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PREFACE

The work described herein was performed by the Control and Energy
Conversion Division of the Jet Propulsion Laboratory.
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DEFINITION OF SYMBOLS

concentration of gas A, g-mol/cn3

drag coefficient

concentration of A in the gas bubble, in the cloud-wake
region, in the emulsion phase, and at the particle surface,
respectively, g mol/cm3

average concentration of A in the bubble, g mol/cm3
average concentration of A in the bed

concentraticn of A in the entering gas stream, g mol/cm3
molecular diffusion coefficient of gas, cm?/sec
effective bubble diameter, cm

particle diameter, cm

surface mean particle size, cm

tube diameter, cm

feed rate of solids, outflow rate of solids, and carryover
rate of solids by entrainment, respectively, gm/sec

2
Froude number at minimum fluidization condition, Unf/dpg,
dimensionless

980 cm/sec2, acceleration of gravity

height, cm

overall coefficient of gas interchange between bubble and
emulsion based on volume of bubbles, volume of emulsion,

and total volume of bed, respectively, sec~!

entrainment coefficient

mass transfer coefficient between fluid at a particle, cm/sec
mass transfer coefficient in fluidized bed, sec-!

overall mass transfer coefficient for bubbling bed, sec~!

mass transfer coefficient between fluid and a particle at
minimum fluidization, cm/sec

mass transfer coefficient for particles in bubbles, cm sec~!

iv
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height, cm

height of a bubbling i'uidized bed, cm

bed height at minimum fluidization condition, cm
molecular weight

bubble frequency, sec~!

number of moles of A

number of moles of A in bubble

pressure drop, gn-ub/smzl

size distribution of feed solids, outflow solids, entrained
solids, and solids in the bed, respectively, cm™

particle radius, cm
minimum particie radius in feed particles, cm
maximum particle radius in feed particles, cm

half the distance between particles in particulate bed
or emulsion, cm

particle Reynolds number, dpug I&/#, dimensionless

particle Reynolds number at minimum fluidization condition,
dpuprPe/pk, dimensionless

Schmidt-number, p/pgb, dimensionless
Sherwood number, kddp/D, dimensionless

Sherwood number for particles in bubbles, kg ¢dp/D, dimen-
sionless

Sherwood number for particles in emulsion or at minimum
fluidization conditions, Ky pedp/D, dimensionless

velocity of a bubble rising through a bed, cm/sec
velocity of a bubble with respect to the emulsion phase, cm/asec
upward velocity of gas at minimum fluidizing conditions, cm/sec

superficial fluid velocity at minimum fluidizing conditions,
cm/ sec

terminal velocity of a falling particle, cm/sec
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superficial fluid velocity (measured on an empty tube basis)
through a bed of solids, cm/sec
volume of a gas bubble, cn3
weight of solids, g
specific surface or surface of solid per volume of bed, cm~!

specific surface or surface of solid per volume of solid, em~ !

ratio of solids dispersed in bubbles to the volume of bubbles
in the bed, dimensionless

ratio of solids in the cloud-wake region to volume of bubbles
in the bed, dimensionless

ratio of solids in the emulsion to volume of bubbles in
the bed, dimensionless

fraction of fluidized bed consisting of bubbles, dimensionless
void fraction, dimensionless

void fraction in the emulsion phase of a bubbling bed,

in a bubbling bed as a whole, in a bed at minimum fluidizing
conditions, and in a packed bed, respectively, dimensionless
viscosity of gas, g/cmesec.

density of gas and solid, irespectively, g/cm3

sphericity of a particle, dimensionless

vi
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ABSTRACT

Modeling of the fluidized bed for silicon deposition is described.
The model is intended for use as a means of improving fluidized bed
reactor design and for the formulation of the research program in
support of the contracts of the Silicon Material Task for the development
of the fluidized bed silicon deposition process. A computer program
derived from the simple modeling is also described. Results of some
sample calculations using the computer program are shown.
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SECTION I

INTRODUCTION

The Low-Cost Silicon Solar Array (LSSA) project sponsored at
JPL by ERDA has the responsibility for developing the technology and
the industry-capability for producing low cos* solar arrays. The objective
is the achievement of a production capacity of 500 megawatts (peak)
at a cost of $500 per kW by 1986. The program of L3SA is divided into
four technology tasks, each of which has the responsibility for advancing
a particular technical area so as to achieve the production and cost
goals. The first of these tasks is the Silicon Material Task, for
which the 1986 objective is to reduce the price of Si material, suitable
for the fabrication of solar cells having satisfactory performance,
from the present price of about $65/kg (for semiconductor grade Si)
to less than $10/kg.

To achieve the price objective of the Silicon Material Task,
new areas of chemical processing and solar cell technology must be
studied and developed, since no modification of the basic processes
presently used commercially will lead to the attainment of the $10/kg
price. The inability of the present commercial process to meet the
task objective is revealed from a consideration of the features of
this process. The first step is the reaction of metallurgical grade
Si, having a purity of about 98.5%, with HCl in a fluidized bed reactor
to yield the intermediate SiHCl3 in a mixture of chlorinated silanes.
After chemical treatment and fractional distillation to obtain very
pure SiHCl3, semiconductor grade Si ‘s produced by chemical vapor depo-
sition resulting from the Hp reduction of SiHCl3. This method of producing
extremeiy pure Si is costly and ernergy intensive, the final deposition
consuming an estimated 385 kWh/kg Si product.

Several different chemical processes arc being investigated under
JPL contracts in the task program. Two of these, at Union Carbide
and Battelle, incorporate fluidized bed reactor technology. The contract
with Union Carbide involves the hydrogenation of SiCly to SiHCl3 in
a fluidized bed as well as a process for the deposition of Si from
SiHy in another fluidized bed. In the contract at Battelle the process
is for the Zn reduction of SiCly in a fluidized bed reactor. These
two efforts are presently the most advanced in the task program and
are being appropriately emphasized.

To support the developments in fluidized bed technology,  which
is the basic element of these two important contracts, the task program
includes an in-house JPL subtask for studies of fluidized bed reactor
technology as well as a subtask for consultation in this area by Professors
0. Levensplel and T. Fitzgerald of Oregon State University. The in-
hcuse program consists of efforts in modeling of the deposition of Si
in a fluidized bed reactor, experimental studies of SiHy pyrolysis
and fine particle fluidization, and thermodynamic and chemical engineering
analysis of the reactions in the fluidized process for silicon production.
The initial phase of the effort in modeling is described in this report.

1=1
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SECTION II

APPROACH

The purpose of this study is to develop an analytical model of a
particular chemical reaction--~the pyrolysis of SiHy--occurring in a
flujdized bed reactor. The model is intended for use in determining
guidelines for reactor design and for the structuring of experimental
investigations to achieve system optimization. The methodology of this
study is (1) to specify the system, (2) to describe the particular and
general assumptions, (3) to state the appropriate physical laws to be
used at each step, (4) to apply the limitations of the system characteristics
and assumptions in the derivations of the mathematical expressions, and
(5) to develop a suitable computer program. To facilitate the systematic
development of the computer program, this report is divided into sections
for (1) a general description of the process, (2) modeling of the gross
bed behavior, (3) modeling of the particulate bed, (4) modeling of the
bubbling bed, (5) a description of gas interchange between bubble, cloud,
and emulsion, (6) an analysis of mass transfer rate to solid particles in
a bubbling bed, (7) particle growth rate in a particular bed, (8) particle
growth rate in a bubbling bed, (9) entrainment, (10) overall mass balance
of the bed, and (11) results, conclusions, and recommendations.

This paper deals with the fluidized bed silicon deposition process
designed to eliminate the difficulties associated with the current
state-of-the-art. In Figure 2-1, a schematic diagram of a fluidized
bed is shown. From the bottom left-hand side, small feed-particles
of silicon are introduced while the feed gas of silane and hydrogen
(carrier gas) comes in from the bottom of the bed. The silane is pyrolyzed
at the surface of the silicon particles, the resulting Si deposits
causing the increase in size of the seed particles, which are eventually
removed as the product. Unreacted silane and hydrogen eas escape through
the top of the bed concurrently elutriating small amounts of smal’-
size particles. This process is continuous and has the advantage of
using a very large reaction surface area to produce pure silicon on
a much larger scale than the conventional chemical vapor deposition
(Siemens) process.

Our problem can be stated as follows: Given a set of operating
conditions, which include the bed size, the feed particle characteristics,
and the feed gas characteristics, determine (1) the type of fluidization
(i.e., whether it is bubbling or particulate type), (2) the optimum
gas flow rate, (3) the power requirement, (4) the silicon particle
growth rate, (5) the entrainment rate, and (6) the deposition rate
of Si.

‘Several assumptions and a number of limiting conditions were employed
in the modeling of this process. They are as follows:

2-1
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FEED Si —gge —» PRODUCT
: Si

DISTRIBUTOR

FEED GAS, SiH4 + Hyp

Figure 2-1. Fluidized Bed Concept for ilicon Production

(1) At temperatures above 1000°C, the primary reaction is the heter-
ogenous pyrolysis of SiHy on the surface of the silicon particles.

The rates of adsorption and reaction are much faster than
the trancport of the reactant species, SiHj, to the reaction
zone (the hot surface), and thus the growth rate of the
particle size is diffusion-limiteq.

(27 The bed is either bubbling or particulately fluidized. 1In
other words, the fluidization of particles smaller than 5C u,
which would cause abnormal fluidization, will not be considered.

These two types of fluidization are scnematically shown in
Figure 2-2. For larger particles, bubbles moving up are
observed (Figure 2-2a), and for =maller particles (but still
larger than 50 u) uniform fluicization is observed (Figure
2-2b). This uniform phase in the particulate bed and the
bubbling bed (outside the bubbles) is called the emulsion.

The basic flow chart for the modeling is given in Figure 2-3. As shown
here, first, the set of input parameters is given. From this, the gross be-
havior of the bed is obtained including the opvrating bed weight, the pressure
drop across the bed, the distributor requirement and the type of fluidization.
If the bed is particulate fluidized, the mass transfer rate of gas onto solid
particles and thus the particle growth rate can then be obtained relatively
simply. 1If the bed is bubbling, the bubble and the emulsion characteristics
must be studied separately with the aid of pertinent experimental data. Then
the interaction between the two phases must be investigated to determine the
mass transfer rate of the gas onto the solid particles in order to permit the
calculation of the particle growth rate as a function of the particle diameter.

2-2
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BUBBLING PART . CULATE

Figure 2-2. Types of Fl..idization

When this growth rate is obtained, the mass balance of silicon
particles in the feed, product, entrainment streams and the bed is
then calculated. The parti_.le size distribution of the bed and the
deposivion rate can also be determined.

1
INPUT PARTICULATE MASS TRANSFER RATE, MASS FLOW
PARAMETERS BED E PARTICLE GROWTH RATE BALANCE
. i
—
GROSS MED
seHAvior [ OR

BUBBLE
CHARACTERISTICS

. GAS: FLOW
BUBBLING
49 RATE
R EMULSION
HARACTERISTICS

Figure 2-3. Flowchart for Modeling
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SECTION I1I

MODELING OF GROSS BED BEHAVIOR

The input parameters necessary for the definition of the fluidized
bed are as {ollows: feed particle size distribution Po(d ); production
rate Fy; sphericity of particles ¢s, Which is assumed to be uniform
regardless o1 the particle size; void fraction in packed bed €m, 88
a function of ¢g (Ref. 3-1); voidage at minimum fluidizing condition
€pf, and as a function of ¢g; gas density pg; solid densitv pg; viscosity
pu; diffusion coefficient D; concentration of silane in the feed gas
Capj; bed weight W; and the bed diameter dt.

In order to estimate the bed characteristics, it is necessary
to know the average particle size in bed. However, without the xnow-
ledge of the bed particle size distribution Pb(d ) this is not possible.
Thus, at the beginning, dp is obtained from Pg. This will be replaced
by dp(Pp) later. Since the important parameter in the bed is the ratio
of surface area to volumc of solid particles, which is inversely pro-
portional to d,, the average particle size is obtained as the inverse
of the average of the inverse of the particle size. That is,

1
: (1)

dp
/Pb(dp) )
d(d
dp P

Using the above information, the gross behavior of the fluidized
bed is then predicted as follows:

(1) Bed height at miaimum fluidizing conditions: There is
a certain velocity of gas for the given bed below which
the solid particles are pac'ed together and no fluidization
is observed. Above this velocity, the particles are moving
aroun¢ in the bed with gas to create a fluid-like phaase
in the bed. This velocity is called the minimum fluidizing
velocity, and the requirerent to reach this velocity is
called the minimum fluidizing coadition.

Wi 1 @)
2 - - 2
me d% W (1 - fmf) (ps - pg) g

wnere g is the gravitational constant.

(2) 1he pressure drop across the bed is obtained by balancing
the pressure lcss with the bed weight.

3-1
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(3)

B le
STy

The superficial fluid velocity at minimum fluidizing condi-
tions Uge can be obtained by balancing the pressure loss
with either the viscous force for the small-particle-size
bed or the kinetic force for the large-particle-size bed.
For an assumed value for the superficial fluid velocity

of the bed Uo, then

342 (py - Pgle 3p Pg Uo
Ugr = 6505 when Rep = m

<20 (n)

or

2 dp (ps - Pglg
Ulllf = . whea Rep > 1000 (s)
24.5 Pg .

If 20 < Re < 1000, an interpolated value of Ugpe would be
used.

The superficial fluid velocity of the bed Uy can be esti-
mated from this information. If a vigorously mixing bed

is assumed for maximum silicun production, then, according
to literature observations (Reference 3-1):

U, > 2Upsr (6)

hHowever, there is an upper limit fo. Ug, since the Up is
larger than the terminal velocity of the particles, then

. (Hsdp (Pg - pg)> 1/2 o
= 7
v 3pgCa

where d. is the minimum particle size in bed 2nd C4 can
be obtagned empirically; then some particles are lost through
entrainment. This tendency of entrainment would be increased

as Uy increases.
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(4) The type of fluidization of the bed can be determined by
an empirical formula (References 3-2, 3-3) under normal
fluidization conditions. If the product of four dimensionless
groups

Ps ~ Pg Lpr
Fraf, ReP-f, e ’ a:—

is larger than 100, the bed is bubbling; otherwise, the
bed is particulately fluidized. Here

2
F il (8)
r = =,
af dpg
Unpr » dp o P
Repmt = ——— (9)

3-3
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SECTION 1V

PARTICULATE BED

If the bed is particulately fluidized, which is depicted in Figure
4-1, the mass transfer rate of gas onto the solid particles is obtained
in the following way (Ref. 4-1). The individual particles of radius
ro are considered to be separated from other particles by a distance
of 2R, where R can be derived easily from the voidage of the bed:

R = —L (10)
(1 - ()1/3

Gas enters from the bottom with the velocity Uy. The amount of gas
transferred to the individual particle surfaces by diffusion, as well
as by this forced convection, is to be calculated.

This is a very complex two-dimensional flow problem for each
particle. The description can be approximated by use of the penetration
theory as follows. Assume that at t = 0, the concentration of the
silane at r = R is the same as that of the incoming gas, that at
r = rg, the concentration is zero, and that the diffusion which is
one-dimensional in the radial direction only proceeds until t = T.

At t = T, the original situation is reestablished and the ensuing
diffusion process is repeated again. This is repeated at everv mT
interval where m is an integer. The period T is proportiona to the
ratio between the incoming velocity Up divided by particle rauius rg.

The result is summarized in a formula for the mass transfer
coefficient, kg,

Figure 4-1., Particulate Bed

41
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22 (1 - €4)1/3

2*[ 1/2-2]uamh§,
d (1 - (1 - ep)1/3)
sh=kdp= f (11)

D 4 - tanh {
1 -0~ Gf)1/3

where
1 172 1/2
L= " -1]x 0.3 Rep Se (12)
(1 - €¢)
en =
P m
and
: £
Se = 2b

At the limit when R—o09,

1/2 1/3
Sh—2 + 0.6 Rep Sc (13)

which is known as a single-sphere diffusion formula. This result will
be used iiter in the bubble phase analysis.
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SECTION V

LUBBLING BED

To obtain the mass transfer rate of gas in the bubbling phase
it is necessa 'y to understand the bubble and the emulsion characteristics
first. From the literature (Reference 3~1) it is notesd that the emulsion
phase behaves very much like a bed at minimum fluidizing condition.
Thus, the upward velocity of gas in the emulsion phase is defined as
Us. Then, by assuming that the emulsion phase behaves approximately
according to the minimum fluidizing condition, one obtains,

Unr
Up = =mm (14)

Gmt‘

The. bubble phase is analyzed as follows. First the bubble diameter
dp, is defined assuming that d; is constznt throughout the bed (although
this is not true in the beginning of the bed), and that the bubble
frequency passing by a certain point in the bed is n. Then the velocity
of the rise of bubbles Up, is similar to the velocity observed in the
system of a bubbling liquid of low viscosity, in which case inertial
forces predominate. By equating the inertial force to the gravity
force, the relation for a single bubble is obtained:

Upp = 0.711 (gdy)1/2 (15)

For bubbles rising together in the bed, the absolute velocity would
be, then,

Up = (Ug = Ups) + Upp. (16)

Depending on the bubble velocity there are two types of bubble
formations as shown in (Figure 5-1).

“If Up > Ugy a cloud will form around the bubble (Figure 5-1a)
in which the gas circulates and never escapes to the outside. The
th.ickness of the cloud decreases as Up becomes larger. For vigorously
bubbling beds, where Up > 5Up, the cloud thickness becomes negligible.
If Up < Ug (Figure 5-1b), no cloud forms and the gas passes through
the bubble as a shortcut to the top of the bed. The higher mass transfer
rate is obtainable for the first case; i.e., Up > Up and this condition
will be used.

The superficial velocity Up can be expressed as follows:

Up = (1 «8) Unr + SUb (17)
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(b}
EMULSION

Figure 5-1. Bubbles

where § is the volume fraction of bubbles in the bed. The first term
is the velocity contribution from the emulsion phase and the second
is from the bubble phase.

Rewriting the above equation (17), one obtains, for vigorously
bubbling beds:

Up - (1 = 8)Upr Up - U

Uy =
b 5 5

(18)

If the height between two successive bubbles is h, then

Up

n = == (19)
h

and

(20)
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The values of dp, Upp, Up, 5, and h can be determined from (15),
(16), (17), (19), and (20), with a known value of n. The value of
n can be obtained from experimental data.

On the other hand, the tendency for the bubbles to break up in-
creases with bubble size. This limiting size is computed as follows:
when the bubble breaks up, it does so in such a way that the solid
particles go up through the center of the bubble and cause the separation
of cne cavity into two smaller cavities, as shown in Figure 5-2.

The upward velocity of gas through a large rising bubble is assumed
to be nearly Upn. If Uy, > Up, then small entrained particles go up

through the middle of the bubble and the bubble breaks up. For this
condition, a new n should be introduced to make Upn = Up.

O—=—0N—0Q

Figure 5-2. Mechanism of Bubble Breakup
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SECTION VI

GAS INTERCHANGE BETWEEN BUBBLE, CLOUD, AND EMULSION

The flow pattern of gas through the fluidized bed can now be
obtained from the above analysis. First, mass transfer coefficients

(Kpe)p, (Kpe)p, and (Kge)p are defined in the following way, which
includes consideration of diffusion and gas circulation:

1 dNpp

Vp dt

(Kpe)p « (Cab - Che)

(Kpe)b s (Cab - Cae) (21)

(Kce)b ¢« (Cpc - Cpe)

Here V), is the volume of bubble; Npp is the number of moles of silane
in the bubble; and Cpp, Cpe, and Cpe are the mean c- ‘centrations of
silane in bubble, cloud, and emulsion, respectively. Thus (Kbe)b is
the volume of gas going from bubble to emulsion divided by volume of
bubbles in bed per unit time. The other two are defined similarly.
From the above equations:

1 1
LI . (22)
(Kpe)b (Kbe)b  (Kce)d

(Kbc)b is now obtained in the following way:. There are two modes
of gas movement between the bubble and the cloud. The first is gas
flow into and out of a single bubble, and the second is the mass transfer
by diffusion. Assuming a Davidson's model (Reference 3-1) for bubbles,
then '

Uge p1/2 g1/4
(K = . — . 2
be)b = 4.5 o + 5.85 570 and (23)
b
1/2
€nfDUp

(Kge)p = 6.78 (2u)

dp

where (Koq)p involves the diffusion process only.

6-1
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SECTION VII

MASS TRANSFER RATE TO SOLID PARTICLES IN BUBELING BED

The mass transfer rate to solid particles can now be derived
using yp as the volume of solids dispersed in bubbles divided by volume
of bubbles. The terms y, and vy, are similarly defined in the Definition
of Symbols. The quantity yp is experimentally determined.

For convenience the mass transfer process is considered to be
an absorption by the solid of the silane gas present in the fluidizing
gas stream. Since the flow of gas in the emulsion is very small, its
minor contribution to total flow can reasonably be ignored. Thus,
the fresh gas enters the bed only in the form of gas bubbles; moreover,
for steady-state cperations the measure of adsorption of silane is
given by the decrease in its concentration within the bubbles. The mass
transfer coefficient for such processes can be reported in a number
of ways.

Based on total surface of particles, an overall mass transfer

coefficient (kq), (cm/sec) can be defined as

1 dnpab

= (kq) - Cag) {25)
surface dt d’p (Cab As

or in terms of the falling concentration of silane in the rising bubbles:

dCap dCpp ) surface of solids . Cen)
at a2 9'b Yolume of bubble Ab = “As
(26)
(kg) 2
= = (Cab = Cas) = (Kq)p (Cpp - Cas)*

where Cap is the mean concentration of silane in the bubble, Cpg is
the proper concentraticn measure of silane at the surface of the solid,
and'a = 6(1 - €¢)/d/dg.

. - The morphology of the silane present in a bubble as the bubble
rises through the bed is considered now. Some of the silane is adsorbed
by solids within the bubble; another portion is transferred to the

'Although expressed in bubble-related terms, this equation covers the
deposition process in all phases.

T=1
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cloud where a part of it is adsorbed and where the rest is transferred
further into the emulsion. The silane in the emulsion is assumed to
be completely adsorbed, which is reasonable in light of the long contact

time in the emulsion and the rapidity of the overall adsorption process.
Thus we have '

adsorption in the transfer to
overall adsorption = 4joud by solids + the cloud

where

transfer to adsorption in the transfer to
the cloud = cloud by solids * the emulsion

and where

transfer to adsorption in the
the emulsion = emulsion by solids

In symbols, the above becomes

chb chb
- = =l —— = (K (CAp - Cas) (217)
TS Y ( d)b b As
= ypKd,ta’ (Cap - Cas)
+ (Epe)y(Cap = Cac)
and
(Kpe)y, (Cab - Cac) = vekd,mfa' (Cac = Cas) + (Kpe)y (Cac - Cae) (28)
(Kee)p (Cac = Cpe) = veFa,mra’ (Che - Cas’ (29)
and
surface area 6
a’ = (30)

volume of solid $gdp

By eliminating Cj, and Cpe from Equation (27), the general expression
for the mass transfer coefficient, or Sherwood number, is obtained



where
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{1 = Gf)D
————3—Shoyerall
3¢adp

K
(Kg),

7pB o 1
:bd +
Shyf 1 1
+
(Kbe) 1
b yBg + ,
1
(Kce)b + YeBq
. 6D s »
d = ;;35- hmf(sec )

(31)

(32)

Thus with known values for Shy and Shye, and calculated gas interchange

rates, mass transfer coefficients and Sherwood numbers in fluidized

beds can be estimated.

t 1s the mass transfer coefficient obtainable by using the

single sﬁhere diffusion formula

where

Kq,td 1/3 1/2
Shy = ; 4 = 2.0 + 0.6 S¢ Rep,t
m
Sc = ;T)
' dpUt pg
Rep’t = F

7-3

(33)
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SECTION VIII

P°ITTCLE GROWTH RATE IN A PARTICULATE EED

Based on total surface of particles, an overall mass transfer
equation can be written

1 dNp - volume of bed dCy

w—

surface of particles 4t  surface c¢f particles dt

¢edp dCA
d(1 - €5) dt

Ka(Ca - Cg)

Since Ly = 0, due to the fact that this case is diffusion-controlled
(Reference 8-1), the above equation can be easily integrated. The
above equation can be rewritten

dc,
———:x’c
dt d A

vhere
Ki = Kg - g(1 ~ €p)/bsdp
dlnCy = -d1
Cp = Cpy exp (1Ky" 1)

‘The average concentration of silane in the bed which could be used
in average bed deposition calculation is

Cas(1 - e~kd Lg)

Cs = (35)
A kg Lf

Therefore, the average mass transfer in the bed per unit surface
of solids is given by

8-1
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1 dNy -
- ——— — 2 kch (36)
surface dt

Finally, the particle growth rate is calculated from this result as

dR 1 ANy My - .
— 2 meem— —— =deA i37)

dt surface dt pPg

where Mw is the moleculzr weight of silicon, and pg is its density.

8-2
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SECTION IX
PARTICLE GROWTH RATE IN A BUDBLING BED

A similar procedure can be followed to obtain the particle growth
rate for the bubbling bed, except that Uy, (kd) should be used in
piace of Ug, ky. The result is that the average concentration of silane
in the bubbles is

|- (-(kd)b . Lf)

c - A ® (38)
Ab (cq), « Lp

The average mass transfer in the bed and the particle growth rate are
given as,

! (m-----‘b (kg), C (39)
- surface 4t = (kg b “Ab?
dR " M,
- T c ® — (30)
dt (ka)y Cao Pq
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SECTION X

ENTRAINMENT

Experimental data indicate that the entrainment rate can be expressed
as the entrainment coefficient k, which is given in Figure 10-1.

K/ [" (u° - u')]

0.1 3 N i ! i Y 1‘1
10t 10 108

Figure 10-1. Entrainment Correlation Given (Reference 9-1):

(ug - ut)z]o-s(apuwg)o.vzs oy - pg\l*15
v = pr m T

10-1
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SEC1ION XI

OVERALL MASS BALANCE OF THE BED

The following definitions are used:

If Fy and Py are known, then there are five unknowns to be cal-

Fg feed rate, F;: overflow rate,

Fo elutriation rate

Pg partic’e size distribution in feed

Py particle size distribution in overflow

P,  particle size distribution in elutriation

Py particle size distribution in bed

culated and these are obtained by the following five relationships
(refer to Reference 10-1):

(1)
(2)
(3)

(%)

(5)

solids
entering in
feed

Py = Py, for a well-mixed fluidized bed
Fy + Fp - Fg = total solid generation in bed.

From the definition of k, it follows that (see Reference
10-1)

Po(R) = k(R) WP, (R)/Fp.

By definition,

In unit time, the mass balance on particles of size between

R and R + dR is given as follows:

/

solids solids solids growing 1nto\
= | leaving in} - | leaving in |} + { the interval from

overflow carryover a smaller size
solids growing out solids generation\

of the interval to | + { due to growth
a larger size within interval

]
Q
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This rewrites as:

FoPo(R} - FyP4(R) - Wk(R)Py(R)

d-%% (R) P4(R) 3y dR
- W + — Py(R) — (R) = 0 (41)
dR R dat

11-2
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SECTION XII

CALCULATION SAMPLES

A computer program, incorporating the mathematical model described
80 far, was written. A listing of the program is attached as an appendix.
The properties of the gas stream and silicon particles, the composition
of the gas stream, bed diameter, initial bed weight, particle size
distribution of feed particles, production rate, maximum particle size
in the bed, the differential particle size interval and the number
of orifices in the gzs distributor were the input parameters to the
model. The initial value for the : rerage particle size in the bed
is assumed to be the harmonic average of the feed particle size di=t~ity-
tion. The computer program was found to converge to final value of
average bed particle size in two iterations. The ma% smatical modeling
cquations were organized in various subroutines. The main program
cefines the variables, arrays and functions, sets the starting values
for ~omputation, provides the calling sequence for the subrou:iines,
and outputs the calculated data. The output of the program consists
of gross fluidization characteristics, bubble characteristics, mans
transfer coefficients, particle size distributions and mass flow rates
of feed, outflow or entrainment and overall growth rate of particles.
The minimum particle size of the feed , njn . r and the superficial velocity
Up are varied in three calculations as shown in the table for simplicity.
The particle size distribution of the feed was assumed to be uniforun.
Table 12-1 shows the results of some sample modeling calculations using
this computer program.

The results show that for the given set of values of variables,
the minimum fluidizing velocity Upe, the terminal velocity Uy, the
bed height L¢, the necessary feed rate Fg, the entrainment rate Fp,
and the average particle size d, are listed. The convergence of the
computation is very fast; at the second iteration, the asymptotic
solution is obtained.

Fq was chosen after several trial and error calculations so that
smooth bed operation is achieved. Such choice >f numbers is delicate
due to the simplistic approach taken in the modeling.

As compared to the first example, the second example shows the
results when the superficial velocity is increased. This shows a smaller
amount of Fg necessary than in the first case due to more deposition
from the higher flow rate. The third example is for the higher average
feed particle size, showing the reduced reaction due to smaller surface
area.

The results of the computer program were listed against experimental
fluidization data obtained from fluidization of silicon particles with
argon in a l1-in. fluidization column. The results of the comparison
are shown in Table 12-2. The mode of fluidization indicated by the
model is consistently wrong. It shows that the simple Froude number
criterion used in the model is not sufficient to predict thc mode of
fluidization. The agreement between bed pressure drop data and calculated

12-1
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Table 12-1. Examples of Calculational Results

° Input Parameters
dy = 5 cm Cai = 5.0 x 10-6 gimole/cam3
Pg = 1.23 x 10-% g/cm3 rp,max,f = 15 K .
Ps = 2.44 g/cm3 W z 200 g
P = 3.45 x 104 poise Fy = 0.92 g/sec
D = 5.809 cw?/sec
° Results
Pp,min,f = 25 ¢ 25 p 45 p
Ugp = 19.2 cm/sec  24.0 cm/sec 19.2 cm/sec
Upf 3.78 cm/sec 4.69 5.36
Uy 9.62 cm/sec 9.62 31.2
Le 8.5 cm 8.5 9.4
) 0.032 g/sec 0.023 0.0u8
Fp 0.011 g/sec 0.010 0.009
dp 150.1 167.2 178.8

bed pressure drop is excellent. The agreement between experimental
and calculated values for minimum fluidization velocity is rough.

This discrepancy may be due to several reasons. The model equation
used for minimum fluidization velocity is a simplified low Reynolds
number approximation of the more rigorous form. The experimental data
itself was prone to considerable error. In many runs (1, 2, 3, and 7)
the minimum fluidization velocity was determined by visual observation
of bed behaviour. In cases where the Upr was determined from combined
packed bed and fluidized bed data (6, 8, 9 and 10) the agreement is
much better. Considering the possible significant experimental error
in determining the minimum fluidization velocity, the computer model
prodicted the fluidized bed performance quite well.

12=2
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SECTION XII1I

CONCLUSIONS

As mentioned before, this modeling was intended for a simple
description of the fluidized bed. Thus there are many assumptions
and treatments which may not be practical. Further improvements for
the model will be conducted as experimental data become available.

. One such improvement area is the modeling of the fine-particle
fluidized bed modeling. Although it may not be necessary if one wants

to use larger-size particles when recycling some of the products by

crushing them and using as the bed, it would still be beneficial to

have this option of using fine particles. This modeling would be difficult
at this time because very few experimental data are available. However,

the JPL in-house experimental work is likely to yield the needed information
for this important area of fluidized bed silicon production.

Another improvement may come from consideration of gas interchange
rate at the surface of solid particles. Unlike the implicit assumption
that the same number of moles of gas come out as the number of moles
of gas going in, two moles of hydrogen come out for each mole of silane.
This might help the fluidization of fine particles, too.

This report was reviewed by Professor T. Fitzgerald of OSU, acting
as a consultant to LSSA. Dr. Fitzgerald (Reference 13-1) suggested
that it might be useful to control the bubble size by artificial means:
for example, vertical rods in the bed to break the bubbles larger than
the size of the spacing. The reason is that, in the fluidized bed
modeling, the prediction of the size of the bubble is the most difficult
task (the error could be as high as 500%). This would improve the
accuracy of the modeling.

He also suggested that the following assumptions may prove trouble-
some, and may be modified to fit real data, although these considerations
will make the model complex, and the improved accuracy may or may not
Jjustify the effort for this particular task.

(1) Assumption that C,g5 = 0.

(2)  Assumption that P, in bubble is same as P_, in emulsion.

(3) No consideration of nucleation.

(4) Neglect of flow contribution enteriag emulsion phase.

This modeling is yet to be confirmed by experimental data. The
experiments are underway.

13=1
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APPENDIX

Mathematical Model Program Listing
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~FURs IS SILICON_

REAL J
C AAIR({E)s AN ARRAY, 1S EQUIVALENT TO AIR(RPMIN+I*DELKR-0.5%DELRIy A FUNCTION,
C THIS IS5 INTRCDUCED TO SAVE THE COMPUTER TIME BY STORING ONCE COMPUTED NUMBERS,

C ALL OTHERS ARE SIMILAR.
COMMON AAIR(20U)sAABRI2L0)9APG(200)sAP1L2C0)+AP2120D)
COMMON ARRR(2GO 19 AARC20CY

COMMON UG UMF sUTsDPsDToH»CS»CSTL sCH2 » ALMF 4 AL F s RHOS s RHOG s AMU
COMMCN EMF oWsFUsF1sF23GsREIDELPIRET»ZDPUORINORs TDHe AN,DB
COMMON DELRIUBRIUBSDELTASUFsALPHASUS .19 AKCERS!JE9DSAIDSRIRCHQ

"TCOMMGHI AKDBA »CABAVZ
COMMON oRMF
COMMUN_JKL»SH19ZETA»BD GAMMAE s SHT s AKDBAV , CABAY

COMMON~ EF‘AKBCB’AKCEB!AKBEB’D'GA“MAC,GAMMABDETAQSHlAKDB'SC
COMMON REPsZAA2ZBAVA»AT sGRCWTHIPHIS sFRIAORYsCAR
COMMON AMW+sRPMINsRPMAXF 3 RPMAXB» TOT
DT = DIAMETER OF BED
OP = PARTICLE DIAMETER
ENMF_= MINIMUM FLUIDIZING VOIDAGE
RHOG = GAS DENSITY
RHOS=S0LJD DENSITY
AMyU = VISCOSITY CCEFF
PHIS=SPHERICITY
DELPMIN = PRE3SURE LOSS ACROSS DISTRIBUTERS
O = DIFFUSION COEFFICIENT (CM¥¥2/5E7)
“Y=LUGARTTHMIC MEAN FRACTION OF "INERT GAS
W=BED WEIGHT
CAB=MEAN CONCINTRATION OF SILANE IN THE BURBLE [GR-MOLE/CC)
REMIN = MIN PARTICLE S1ZE
RPMAXB = MAX PARTICLE SIZE IN LED
RPMAAF = MAX PARTICLE SI1Z2E IN FEED e

i
'

RRR = PARTICLE GROWTil RATE IN CM/:
F1 = OUTFLOw FROM BED
PO = PARTICLE SIZE DISTRIBUTION - FEEDING : e
Pl = PARTICLE SIZE DISTRIBUTION - BED AND COVERFLOW
P2 = PARTICLE 51ZE DISTRIBUTION - ENTRAINMENT
FU = MASS FLOW RATE - FZEDING B
"F1 = MASS FLOW RATE - OVERFLOW
Fe = MASS FLOW RATE - ENTRAINMENT

G = GRAVITATIONAL CONSTANT ‘ L
ARBITRARILY ASSUME THE MAXIMUM PARTICLE SIZE IN BED,
READ 1UUCIOTaPHILHRHOCGsRHOSSAMI s WF1 sEMF Y CAB
%9 RPMAXF 2 RPHAXBIRPMINSNOR s AMR D C 9 DEL R,
C EVERYTHING 15 EXPRESSED IN CGS UNITS) NO CONYERSION FACTOR IS THUS NEEDED.
PRINT 8838+DToPHISIsRHOGIRH  SsAMUSWIFL sEMFyY 4 CABR
* 9 RPMAXF sRPMAXBsRPMINJNORsAMW 4Dy G DEL R -
86 FORMAT (I 5//7- DT=~3L1Cebs~ PHIS==aE100bs— RMHOG=~4E10,b4y
le RHUS==9E1Veb9~ AMUz~9l1004%9~ W=~9E10el9/= FlzayElQotlis~ EMFz-,F10
ée49= Yo=9E1Qats - CAC-~OE-V-4o~ RPMAXF==3E1C 4y~ RPMAXB==)E10abs/
T3~ RPMINE=9E1Cebs= NCOR==-3E1Ce49- AY¥NZ—4E10ebs~ DrasElfets~ GE=
4 sElvebds~ DELR=-9E1044)
DPMIN=RPMIN%2,
[ly=0
6 l1y=11J+]1
(F(11JeEGe1) GO TO 153

[aNaNaNala¥aNalaNaNaNaNalaNalalaN aNalatakaNaNalWal o

C

C PRINT COMPUTED QUANTITIES AFTER EACH CYCLE.
RPMAX=RPMAXB
NN=(RPMAX=RPMIN) /DELR +le5

A-2
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£ ImPORTANTans RPMINSRPMAXFoAND RPMAXR SHOULD.BE MULTIPLES G- DELR .

2UJRAPOL])

DO 151 I=19sNN»s5
RJ=RPMIN+1%DLCLR-U«5%DELR

21J=AP1 (D)
P2J=APZ(])
RRRJ=ARRRI(1)

ATRJ=AAIR(I)
ABRJ=AABR( ] )
PRINT 1529RJsP2JsP1JsRRRIsPOJSATRISABRY

D Y]
151
153

FORMAT({IH »-RsP2sP1sDR/DT »POUsAIRABR==sTEI0W4)
CONT INUE
CONT INUE

1U0v

FORMAT (8E10,4)
IF{11JeNEwl) GO TO 47
ARBITRARILY ASSUME THE MAXIMUM PARTICLE

aNaNailal

SIZE IN BED MAYEBE 1000 MICRONS = DPMAXE

AVERAGE PARTICLE SIZE))) INITIAL

ARP= 0'0
NN={RPMAXF~-RPMIN) /DELR+CeS
0O 1] I=]1sNN

1l

R =RPMIN+I*DELR-0.5%#DELR
ARP=ARP+PU(R) /R*DELR
CONTINUE

55

RP=1e/ARP
PRINT 555 RP
FORMAT{ 1HOs/- RP:=-+E10e4)

GO 10 13
AVERAGE PARTICLE SIZE))) ITERAI,ON

47

CONTINUE
BRP=U,
NN= (RPMAXB=RPMIN) /DELR+0e5

00 12 I=1»NN
R =RPMIN+]%DELR-U+5%*DELR
BRP=5RP+P1IR)/R*DELR

12

CONTINUE
RP=1e/8RP
PRINT 55s RP

13

CONTINUE

DP=RP#2,
AT = BED AREA
AT=DTR*¥2#3,14159/4e

COMPUTE WU,
CALL_TESTV

ODETERMINE THE TYPE OF FLUIDIZATION.
CALL TYPE

CETERMINE THE DISTRIBUTOR PARAMETERS.
CALL DISTRI

COMPUTE TDH

_CALL _TOHS

A-3
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€ ____CHARACTERI]Zc BUBBLES. ... ...
CALL BUBBLE
C
C CHARACTERIZE EMULSION PHASE..
c CALL EMULSI
C CALCULATE GAS INTERCHANGE COEFFSe BPETWEEN BUBSLE AND FMULSION,
CALL GASINT
C
C CALCULATE MASS TRANSFER COEFFS,.
CALL TRANSF
C
IF(11JeNEel) GO TO 121 o
NN=(RPMAXB-RPMIN) /DT LR+&845
C
L DU 111 I=1sNN o
TFTJKL«EQe2] 50 TC 2i1
ARRR(1)=RRR(RPMINY I#DELR-C45%0ELR)
GO TO 111 e . .
211 ARRRUI J=RRRZ(RPMIN+I*DELR-0+5%#DELR)
111 CONTINUE
DO 112 l=1yNN R
AAK (11=AK (RPMIN+I*DELR=0C+5#DELR)
112 CONTINUE
0O 113 I=1sNN e
APU (112P0 (RPMIN+I¥DELR-0¢5%DLLR)
113 CONTINUE
DO 114 I=1siN e ~ S
AAIR(TI=AIR(RPHINY [¥DELR-0¢5%DELR)
114 CUNTINUVE
DO 115 I=1sNN .
AABR{T)=ABR(RPMIN+I*CELR-0¢5%DELR)
115 CONTINUE -
121 CONTINUE
C
TOT=TOTAL (RPMAX3)
-
T DO 116 [=1sNN
AP1 (1)3P1 (RPMIN+I#DELR-045%0DELR)
116 CONTINUE o )
<
C BALANCE MASS FLOWS.
CALL MASSFL . e -
C
DO 117 I=1sNN
__AP2 {1)=P2 {RPMIN+I*DELR-0+5*DELR)
117 CONTINUE
C ONLY TWO ITERATICN 15 ENOUGH,.
[F(llJebLEe3) GO T2 6 e
STOP
C

FUNCTION PL(23)

TCTINPUT PARTICULL 3IZE DISBRITUTION

PO=U.
iF(Z3sGEsRPMIiNeANDsZ34LLRPUAXT ) P2

C
C

RETURN

CT T TTTSUBRCUTINET TESTU

. A=l

“le/(RPMAYF-RPAIN)



nen o

~cece

~ N

nere

ORIGINAL Pagg |s  ORIGINAL PAGE I5
ox EB
OF POOR QUALITY

77-25

Laid auoRduI Lt 1o TS CALZULATE THE 2PERATIONAL MELOCLITIY RANGEe —— ———
ALMF = olu HEIGHT AT M
ALl S0/ 0019155856/ CTRR2/ (1 e=-EMF )/ IRHOS-RHOT) /O
u:LP-dlA.L«lb}f«.{vt¢l" -
uhllL ot KisGen cueaE DON- T Ki{On REs SO 7THIC IS TRIAL AND FRPOR METHOD,

1 ASSUML RiebLTeZd 2 CCOMPUTE UF C DICIDE UCUIVESUT) 4 CALCULATE RE
ﬂ“!ﬁ!@@i_iﬁ_iﬂié”ﬂéﬂl!gbLék.5355 w3 2e?UT e e SR
RE = 1
IPASS=V

Dﬁsﬁ_i_ﬁéiéﬁbBE”L,é ACROSS 880
Kt = RLINOLDS NCe
UdF < Ml ToUICTIZING V:LCCXYY
70‘. = !Lli}lll‘AL \A.\-vsllY
11 IPASS = [PASS+L
UMF = UPE%2R(RROS-Ri10G)*®#L/165C. 7AML
UT = G¥(RHOS-RHCG) #DPMIN®#2/124 /AMU
IF(REeOEecOe) UMF = SuAT(:P'(F“OS-RHOGI’r Zb.‘IRHOG)
IFIREeGCLedve) PRINT 51
C USE _ANY UCae JuUST DLACE THE DESIRED ONE IN_THE LAST POSITINN,
ULzl 5 #UT
U0=425%UT
V0=1eS¥T
U\a:Z.'UI
UMF 2=2 o #UidF
UL=ZeD¥UT
UU=19623
IF UV LT uUiMF2) LL=UMF2
R£=QP*RﬁQG‘UG/AMU
I TUIFALOeEQelr GO 70 11
Y1 FURMAT {(1n0s- RI 15 LARGER THAN 2C-)
lF(qu.LL.u-) GC ¢ 32
21 PRINT 31
31 FORMAT(1lHU»—- UT IS5 SHALLER TiHAN UMF-)
32 CONTINULE
PRIN ©ioUMF sUT sRT 9 ALMF 9 DELP4UO
6l FrORMATLLIHC s~ UMF LT oREPALMFIDELPsU0=-96E1D64%)
41 RETuhiv _

SUBROUTINE TrpPL
FR = FroUot NG
REPME = R AT WF CONDITLON
AhUMDER = CRITERICK oF TYRL DF fLU:?!Z"-TIO.‘!
TnlS SUBRGUTINE Aa TC CHECK THE DEGREL o7 FLU]“'Z‘TYON YV BEQ
FR = UMr#®2/0P/ G
REFMF = &PiUMF'RHCG/AHU
ANUMEC =i R *REPMF ®# (R::S5=RHCS) /RHOGRALME /0T
iF (ANUMSE oGl eivve: FRINTIL
IF (ANGIiDCeiLTellVUe) GJ 70 5
1 FORMAT (1nGes//7/7~- SU3BBLUNG FLUIDIZATICN-)
UTEST = 2#UMF
IF (UueOLeuTEST) PRINT 2
2 FORMAT (lHus~ TAIS 15 VIGSROUS-)
IFiuvebl TeUTEST) PRINT 3
> FURMAT (1HCe= THIZ IZ NOT VIGOROUS-)
S CONTIivve
IF(ANUMOL oL Tellue: FRINT
&4 PORMAT (1lttue— FARTICULATL TLOIDIZATICONS=)
IF(ARuideCloluve) k=1l

A=5 —
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LEvAnuMZe TeiClel JKL=2 |
hi?ukﬁ

SUBROLTINE DISTRI
ThIS SULRCUTING 15 TC CALCULATE ThE SISTRIBUTOR
VELRAT = VELCCITY RATIO

AOR = CRIFIZE AREA
JDP = GRIFILE COTFTICIENT
NOR = NUNBCR OF ORIFICE

" on

UOR = URIFICD VELOZ.TY
DELPL = DELP¥(.1
Dewre= 30JL+04

DeLFe 1o LUGIVALENT TO 35 < hH20 .

REFLR 10 Fo7T OF KUXITe EQ 244 THE THIRD TERM
15 Wt GELEC T_&D HoRE

DELPD=DELPL

IF (DelLPeGReSELPL: CLLFL=DELPZ
AF(DLLPLeGLeDELPL) PRINT 11

Li FURMAI(lrue//s- &5 CAN INCREALE WEIGHT OF TwE BED #IYPOUT PEMALIZING THE

#*HLESIGN LISTRIBUTICR rREaSuQ LC35-)
RET = OT#*RHOGRUG/AM

REFER 1o FIG 12 OF PBc
Ir ki TeGE 03Ue) COP=060

IF(RLTeiTe3ue) COP=Cob® (ALOGIRIT)I-ALOG26) )/ (ALLGI3041 300002000

-v.g

LR X TP
UuR = COPX SGRTi{Ze DELPD/RHIG)
VELRAT-UL/UOR

AOK = VELRAT/NCR
PRINT ZisRETolCPosUURy VELRATAON
2.:. "UKMAT(L"IVQ-REA Q\ur ’.JJ?’VELQ\,D 'OF—‘ EE1Ce4

RETURN

SUBKOLTINE TDHS

Inis SULRSUTING 15 TC CALTULATE TOH
REFUR Tu 'S4
TN = TRANSFORT DICENOASING HEIGHT
DuiMY SugiRuuT INE
RE TURN

LobROL T ING DubihE. -
UF = UrwARS ELCCITY OF SAS IN DMULSICN AT MM
VELTA = VULJME FRACTION 2F BUS3.ES
RB = RADIUS OF BuBBLEL
TrHis SUBRUGTINDG COMPUTES CUBESLE PRIPERTICZ,
REFLA TU LnAF 4
wO = LiAMLITOn OF Gubilf
AN Suebil TRLwuENCY

UBR = Buboli RISILI vioCClTY
ub = ABLOLUTE RICE VILCQITY &7 ZUBELCE
A= HEIGHT CCTWOEN TwO CSUCCESIIVE BUDELTC

SC=5CHMIDT NOo
rUn JAﬂfLI\le GF THE CALCULATICON, BASED ON THE INEARMAT NN

FIG 209P122( LET-C ASSUME THAT THE BUSPLE TREQUENCY 15 nonnnxrwntrlv'*"'
4 REGARDLESS OF THE SI2E oF TWE 2ED FOR FHE MOST PART ~F THE BED,

AN = 4e .
DBzleb/AR* (Ve-UnNT)

A-6
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no

- PRINT JeDBesAN . _ . e -
1 FORKAT (liiGCs/s/~- CUBBLE S12E» FRC:&ENCY =-o?EIO.4)
LBR = 22426 * DR%% (_,5])
THE BUBBLE SIZE CANNOT BE LARGER THAN MAX STASLE S12Es EQ.Q
IF({ UBReGLLULT) UBR=ULT
DB=UBR##2/22,26%%2

RB=DB/2.

UB=UO-UMF+UBR
H = UB/AN
UF = UMF/EMF
DELTA=2+/3.%DB/H
PRINT 2sUBRsUBsHsUF+DELTA,DB
2 FORMAT(1HG, /- UBRDUB,HIUFODELI&A_§ﬁ:)§§lﬂfﬁ)_

C
<

C

RETURN

SUBROUTINE €MULST =
EMULSICN PHASE CHARACTERISTICS
REFER TO CHAF 4 AND 5

RC = RADIUS GFf CLOUD
@ = FLOW RATE OF GAS INTO AND QUT OF A BUBCLE
{P115)

ALF = hElGHY OF BJEGLING B8ED (P131)
EF = VOID FRACTION INM 3U3BLING BEOLPL31)
UE = UPWARD VELOCITY OF GAS IN EMULSION (P15:)

ALPHA = RATIC OF wAKL VOLUME TO BUBBLE VOLUNME
US = MEAN DOWNWARD VELOCITY OF SOLID5 IN EMULSION
AKCESS(P1S27) = COEFF OF SOLID INTERCHANGE ZITWLEN

CLCUD-WAKE REGION AND LMULSICN PHASE
D3A AXIAL DILSPLRSION COEFF OF SCLIDS
DSRr RADIAL CISPERSION COEFF OF S0LICS

[a) [aXa¥alaNalalaNaRallaNaNallal

RC = GeS*¥DB¥( (UBR+2e#UF )/ (L3R-JF ) 1%55,43333
DBMAA wOULD NOT BE DOEFINLD (Fi22 FlGeld)

_ G = 3.*g§t§ﬁf %3e14¥0B*%2 % 0425

ALF = HLI"QI / \ LO"UL_LIA)
EF=le—<le-DELTA)%(le-CMF;

PRINT is RCy Qo ALFs COF

L FORMAT (1d09/~ RCrGoALF sEF s=~s4E1De4)

P121

FOR SIMPLICITY»BA5ED ON FIGe%sP153s LET-5 ALSUMI THAT ALFHA 15 CONSTANT

ALPHA=C o4 ,
TUS = ALPHARDELTARUL/(ie~CELTA-DELTAALPHA)
wEzuF-uw
J = ALPHA®DEL TA® vu*f‘\Ho ‘_1.~E;"F)

AKCEDS = 3e*(le-EMFI®UMF/(1e-DELTAI/ZENMF/0B
DSASALPHARR2#EMF*DB# (UJ-UMF ) #%2/34/DELTA/UMF
DSR = 3e/15e#DELTA/ (1e—~DELTA)*UMF#DS/EMF
PRINT 29 ALPHA»U3»JsAKCESGSIUL#D5ADSR

2 FORMAT{1MUs/7 - ALTHASUL 9 9 AKCEGS sLL905A9CSR= -9 TE1 ek )
RETURN

_ SUBROUTINE GASINT
GAS INTERCHANGE CETWEE: BUBBLC AND CMULISONe
wiLtl BE APPLIES 7O Tk CASE CF VISOROUS

BUBBLING GEDS EITHER UO»SE»2UMF OR

| ‘ :
nonnicne Ae

UBeGE « 5UF
AKBCB = INTERCHANGE CGEFFICIENT GETWELH
EUBBLE AND CLOWD

AKCEB = oLTWLEN CLOWD ANO EHULSION

A-7
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: .MAL P,
| % Poog ol AGE g9
. \Es = ¢ A £  {+1. N
€ TrikSE COLFF5« ARE ASSUMED TO BE INDEPENCENT OF IRDIVIDUAL PARTICLE S12E
AKBCO=4 oS HUMF/DO+5,85 % DRE245/D0%15) 80{Cal5) )
_AKCEB = 6478 * (EMF*DSUB/OB®*¥3)85(305)
AKBED=2le/(1a/7AKBLS+1 4 FAKLED)
PRINT 1v» AKBCBrAKLEL9AKBER
1 FORMAT(IHvs/- AKBCEsAKCEBAKIZBS-93C10s4)
RETURN - :

C
C’.

SUBRCUTINE TRANSF
C OBTAIN DIFFUSICN COEFFICIENT ON TS SELICON SOLIDS
- ETAz]a e e e

C EFFECTIVENESS FACTOR .

C ETA IS TAKEN TO BE le SINCE THE PROCESS IS CIFFUSION CONTROLLE

< AND THUS THE SILAKE CONCENTRATION OK SOLID PARTICLESeCASe I5 NOY

[4 IXPORTART 1IN OUR CASEe. - )

< SAMAAB= VOLUME FRACTION OF 30LID5 IN BU3BLE
—C GAMMAB i5> ARGIIRARILY CHOSENIP202) .~ . -
< GAMMAB=0,003
. GAMMAC= yOLUME FRACTION OF SOLIDS IN CLOUD

=01e=EMF) (30 *UMF UOR-UME ~EMF ) +ALPHA) .

C GAMKAE= VOLUME FRACTION COF SOLIDS IN ENULSION i

GAH“AE!‘I.'EHF)"lo-DELTAllBELTA—(GAMHAByGAHHAC)~
SC = SCHHRIDT NGO. _ e e
SC=AMU/RHOG/D .

RETT = REYNOLDS NGCe &lITH UT -
RETT=DP8UTERHOG/ZAMU :

REMF = REYNGLCS NCo WITH UMF

REMF = DP®UMF ®RHOG/ ANU

ZETA = A VARIABLE INTRODUCED IN NEL30N 3 GALLIWAYe alTH ug
ZETA=(10/(1e-EF ) HR{],/3,)-10)"3.23*REFN (051 25CHR{10/50) :
ZEMF = SAME VARIAULE WITH UMF
lEMF=(1-/(1.-EF)"(L,!JQlélgj!D-QQREMF'QSOoi)*SC"(l,Lingn_l,_M.NM_,.__.
SHMF = SHERWOOD NOe SITH MF CONDITIONSe TG BE USED IN LMULSION
PHASE IN BUBBLING ULED
SHMF =12 o RZEMF+ L 24 #ZCHF A28 ] -EF ) #%(10/30)/C) o= ie~LF)**(1a/50}]
RR2-20 JRTANHIZEMF ) ) /(2EMF/{1a=t 1 o=EF ) #%( 0/3e) )-TANHIZEHWF))
SH1 = SHERWOOD NOe« WITH UO. TO BE USED IN PARTICULATE BEDe
SHL =(2e#ZETA+{ 2. #ZCETASN24(1,-EF 18901 ¢/3e)/)e=(Le~EF ) **(a/
+RR2-24 JRTANHIZETA) J 7 (LETA/ (1 o=t a~EF )R8 1e/ 3¢ )~TANA(ZETA})
SHT = SHERWOOD NOe WITH UT, TC BE USED FSR SOLIDS IN 2USSLESe
1520+0063530HS / BSQRI(RETYY: . _
AKDBAZ= AVERAGE MASS TRANSFER COEFFe FOR PARTICULATE BEDe
AKDBA2=5H1%D/DP
CABAV2=AVERAGE CONCENTRATION OF SILANE IN PARVICULATE BED,
CABAVZ=UU*CAB*( 1 «~EXP(-~AKDBAZ*ALF/UC ) ) JAKDBAZ2/ALF
COMPUTE AVERAGE SILANL ZONCENTRATION IN BEDe REFCR TO MY WRITEULP.
DP 1S THE AVERAGE PARVICLE Si2Es . . __
]3] = AN INTERMEDIATE VARIABLE.
BO=6 o RORSHMF /PHIS/DP A2
AKDBAVz AVERAGE MASS TRANSFER COEFFe FOR BUBBLING GEDe_ . ...
AKDBAV=GAMMAD#BONSHT/SHMF +1e/(1 0/ AK3CB41 e/ (GAMMAC#*BD+1 ¢
*+/781e/AKCEDB+] ¢ /GAMMAL/ED ) ) ) i )
CABAV =AVERAGE CONCENTRATION O SILANE IN cuDBLING OEDe
C VEUIRCABR(] o ~EXP{ ~ARDBAVEALF /UE ) ) 7AKDBAV/ALF
PRINT 5+CABAV»CABAVZ
5 FORMAT(1HOs~ CABAVICABAV2==~92E1044) o L
TTTTTRETURN U ' '
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FUNCTION AIR(A)
AIR = INTEGRAL £Ge32, P339

10 COMPUTE THE INJEGRAL It(RsRI)

4

Nhi= (A-RPMIIi) /DELR* Y
Alhloﬁ‘-‘o

R9:nPhlﬁ0i'DELh-0.5'DELR
AIRLOG=AIRLOGH+(F1/u+AAK (1) )Z/ARRR (1 )2DELR

i CONVINGE e e = —

AIR=EXP(-AIRLOG)
RETURN

]
3

FUNCTION ABRIZL)

COMPUTE AN INTERGRAL

—NN=(Z)-RPMINI/DELRG.S .

51 CONTINUZ

TFUNCTICN TOTAL(Z4)

ABR = INTEGRAL SHOWN IN EGel6e P340
ABR=Ge

DO 51 I=1eNN ,
RI=RPMIN+I3DELR-0e5%DELR
_ABR=ABR+4PO(1)/RI*#3/AAIRI L) #*DELR.

RETURN

SUMPUTE AN INTEGRAL W/FG (ETe37,P340)

TOTAL=Ce o
NR2(Ze-RPHAIN)/DELR+0.5
G0 1 I =1sNN
RB=RPMIN+I*DELR~0e5#DCLR

TOTAL=TGTAL+RB® *3/ARRR{ I ) ®AAIR 1) *DELR*AABRL])

CONT INVE
RETURN

_ SUBRGUTINE MASSFL_

DELR = PARTICLE SIZE INCREMENT USED FOR
CORPUTING THE INTEGRALS
Fu=zw/TQT

CUMPJUTE Fusf2ePleP2
GROWTH = PARTICLE GRCWTH RATZ IN 3ED(CR 397327

~

GROWTHaw
NN=(RPMAXB-RPAIN) /DCLR*Ce 5

00 1 I=1NN

RO=RPHIn+ I #DELR -G« 5#DELR
CRUNTHaOROWTHEDELR* 3., *WXAR1( 1) #ARRRL 1} /RE
CONT INvC

F2 = GROaTH = F1eFG

PRINT &9 FOoFLoGRONTHIF2

FORMATUiHG/ /= FOoFloGRONTHIF25=94E10ek)
RETURN . .. .

FunCTIOK RRR(X1

TO COMPUTE DA/DT 7GR BU3BLING BED

X=2e4X]
RRR=(DELTARXAPHIS/ S/ 1e~EF ) 3 L CABAV RAMA/RHD
*PHISIANXR24 0/ (1o /AKESB4 10/ LGANMMAC 26 #DR5IF

A-9
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Inld RSUTINE COMPUI Lo
FrUR TRANSEE RRAzLAN/OP . l:_"*"

77-25

File/AKCED ' Le/{GAMM ALY Ee DASHYF /P MO/ X% %)

RS TURN

FUNCTIUN RRRZ(X)
TC JUMTVIE cRuET PARTIJULATE GiEo
RRR“=5h1“C"";\:“0h. C:\S'\lg/Rﬁv.u -~ed A

RE TURN

-
[ RY

FUNCTIOh AKLA)
THL EstR'A!iD!

KS1 - KLFER TG F316e 7iG 13
AR = LLUTRIATION CONSTALT AS A FUunNCTiC
KSI = TUC-UT)/5CRTLIGI®(UT R0/ A MUIRRG,T

S{IRNOS-RIADG; /RICGI*r 1elS & DPRe( 225

= VARDP®RU, 225

O ELUTRIATICN IF UG LELuT

IFtuwelTablil) GO TL 1

VA =Uv-UT)I/SGRTIG) M IUT#RRCG/AMU 3%5 472
#4 ( (RIOS-RHCG) /RGO I %% 1 elD

AR
$30e2253
* tHU-uTIEAT /W
el 13 2
CORTINGL

AK=v

CONTINLE

RETURN

FURCTiOh FilZos

CGe 359P 340
Pl=26"%3, A
RE 1 URN

RAR{I ) ZAAIR

(1:FAALR{I)/TCT

FUNCTION F2iZ16)

-X@i

'Y

*96
~Fin

PAGE IS
OF POOR QUALITY

4

MR

COEFFICIENT

b vF RACLIUS

=EAP(ALUGICal15) + LALTGI1Te) -ALLS (Cal5 1% 0 ALCCIVAK {Je¥h, ¥
~ALGG160CC 4, 1/ LALCGII0CCO00 3 ~ALCTI1000Se) 5 RIS

EQe7s P329

Pe=AAK( L) Ru/T2%AP1I(I])

RE TURMN

END
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