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STELLINGEN

1. Het door Yamané et al. gehanteerde model, waarbij wordt uitgegaan van het
bestaan van in een organisch solvent gesuspendeerde, vrije cellen, lijkt onrealis-
tisch,

— T. Yamané, H. Nakatam, E. Sada, T. Omata, A. Tanaka en S. Fukui Biotech-
nol. Bioeng. 1979, 21, 2133-2145

2. Maximalisering van het verschil in polariteit tussen substraat en organisch sol-
vent brengt, zeker in geval van immobilisatie in waterige gelen, de optimale si-
tuatie niet altijd dichterbij.

— C. Laane, S. Boeren, K. Vos en C. Veeger, Biotechnol. Bioeng. (ter perse)
~ dit proefschrift, hoofdstuk 8

3. De heterogene bickatalyse verstrekt enige goede voorbeelden van de brede toe-
pasbaarheid van chemisch—technologische principes.

— dit proefschrift, hoofdstukken 4 en 6

4. Het uitdrukken van effectieve diffusiecoéfficiénten van zuurstof in dragermate-
rialen als percentage van de zuurstofdiffusiecoéfficiént in water leidt tot verwar-
ring als er niet van een gestandaardiseerde waarde voor de diffusiesnelheid van
zuurstof in water gebruik wordt gemaakt.

— P. Adlercreutz Biotechnol. Bioeng. 1986, 28, 223-232

5. Bij het toekennen van betekenis aan biokinetiek— en stoftransporiconstanten,
die verkregen zijn door multi-parameter modellen te fitten aan experimentele
waarnemingen, dient uiterste voorzichtigheid betracht te worden.

— W.N. Marrazzo, R.L. Merson en B.J. McCoy Biotechnol. Bioeng. 1975, 17,
1515-1528

— T. Tsukamoto, S. Morita en J. Okada Chem. Pharm. Bull. 1982, 30, 782-788

— Y.H. Park, M.H. Han en H.-K. Rhee J. Chem. Tech. Biotechnol. 1984, 34B,
57-69

— J.M.S. Cabral, J.P. Cardoso, J.M. Novais en J.F. Kennedy Enzyme Microb.
Technol. 1984, 6, 365-370

— R. Lortie en D. Thomas Biotechnol. Bioeng. (ter perse)

6. De niet in dit proefschrift beschreven, ‘mislukte’ experimenten hebben toch een
belangrijke bijdrage geleverd aan het uiteindelijke resultaat.

7. Met behulp van computers vervaardigde presentaties van wetenschappelijke re-
sultaten wekken vaak ten onrechte de indruk dat deze in een handomdraai ge-
maakt kunnen worden. Integendeel, de computer is bij wetenschappelijk onder-
zoek in belangrijke mate een hulpmiddel om werk van een hoger kwaliteitsni-
veau af te kunnen leveren, hetgeen zeker niet hetzelfde is als ‘meer in minder
tijd’.
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8. Sommige ftalaatesters kunnen inmiddels ook tot de groep stoffen worden gere-
kend, waarvan de carcinogene en mutagene eigenschappen pijnlijk laat aan het
licht zijn gekomen.

— T. Wams, Xenobiotika en Beleid, Deel II: Voorbeeldstudiec Ftalaatesters,
doctoraalverslag biologie, Groningen, 1986

9. De terecht door vrijwel iedereen als verfoeilijk beoordeelde relatie tussen blank
en zwart in Zuid-Afrika vertoont helaas nog al wat overeenkomsten met die tus-
sen de Westerse (‘Eerste”) Wereld en de ‘Derde Wereld'.

10. De titel van Pirsigs boek ‘Zen and the art of motorcycle maintenance’ had even-
goed ‘Zen and the art of writing of scientific papers’ kunnen luiden.

L.E.S. Brink
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1. GENERAL INTRODUCTION

1.1 Non-Aqueous Solvent Systems in Biotechnological Processes

One of the main, current breakthroughs in biotechnology is catalysis in media, which
are significantly less polar than aqueous solutions. The use of enzymes, cell
organelles or whole cells (in short: biocatalysts) in these apparantly anomalous
environments is, however, not as amazing as it might seem. In their natural state
many enzymes are associated with more or less non-polar, cellular elements,
especially membranes [1]. Therefore, a strictly aqueous, highly polar
microenvironment could often be more hostile to the biocatalyst than a less polar
medium and, thus, could result in a reduced activity, specificity and/or stability.
From this point of view, the at times remarkable reports on bioconversions in non-
aqueous solvent systenms, €.g. of Klibanov and co-workers, who carried out
successtully enzymatic reactions at sometimes elevated temperatures in nearly
anhydrous solveats [2, 3], can be more easily understood.

There could be many reasons to justify the use of organic media instead of
aqueous solutions, The most important of these are:

— possibility of high concentrations of poorly water-soluble substrates/products

— shift of reaction equilibria as a result of the altered partitioning of substrates and
products between the phases of interest

— shift of reaction equilibria (with water as one of the products) as a result of a
substantially reduced water activity [4]

— reduction of substrate and/or product inhibition

— prevention of hydrolysis of substrates/products

— facilitated recovery of products and biocatalyst, even when the latter is not
immobilized

— less risk of microbial contamination

— stabilization of the biocatalyst [1, 3].

It is, however, not likely that all the mentioned, advantageous effects will be

relevant for one particular bioconversion. Disadvantages are primarily biocatalyst

denaturation and/or inhibition by the organic solvent and the increasing complexity

of the reaction system.

The degree of miscibility of an organic solvent with water will be highly decisive
for the attractiveness of the solvent system. Water/organic solvent two-phase
systems (with the biocatalyst in the aqueous phase) are generally believed to be more
promising than water/water-miscible organic solvent systems. The latter do not show
the advantages of reduced substrate/product inhibition and facilitated
product/biocatalyst recovery. Also, the chance of inhibition or denaturation by the
solvent is markedly smaller in biphasic systems as a result of the low concentration of
the water-immiscible solvent in the aqueous biocatalyst phase. A potential danger
for the biocatalyst in a solvent/water biphasic system is denaturation at the
liquid/liquid interface. However, if required, this problem can be overcome by
immobilizing the biocatalyst in the aqueous phase. Two-liquid—phase bioreactions,
the central idea on which this thesis is based, will be considered in more detail in the
following sections.



1.2 Water/Organic Solvent Two-Phase Bioreactions

In the first part of the seventies the earliest accounts of the since then ever growing
literature on two-liquid—phase bioreactions started to appear. Not surprisingly, the
transformation of steroids, with their very low solubility in water, was often chosen
in these studies to demonstrate the usefulness of an additional organic phase.
Pioneering work on biphasic systems was done by Antonini and co-workers [5-8].
Other innovating studies on steroid bioconversions in two-liquid—phase systems were
performed by Buckland et al. [9], Duarte and Lilly [10], Omata et al. [11] and
Yamané et al. [12]. Klibanov et al. [13] showed that biphasic systems could also
successfully be used for the synthesis of ester bonds. Reviews on the subject of
water/organic solvent two—phase systems were given by Antonini et al. [14], Lilly
[15], Carrea [16] and Lilly and Woodley [17]. This research field is still attracting
much attention as witness the many recent reports on biphasic and related systems
(e.g. [1&8-23]).

The choice of the water—immiscible solvent will probably have the most
far-reaching consequences for the design of a suitable water/organic solvent
two—phase bioprocess [14, 15]. A significant effect of the type of solvent can be
expected on the kinetics and stability of the biocatalyst [10, 24]. The solubility of
reactants and products in the organic phase and the partitioning of these compounds
between the different phases will be influenced by the character of the organic
solvent. Also, recovery of the product can be facilitated by a proper choice of the
type of solvent. Finally, the safety of the ultimate process, and hence operation
costs, will be determined in part by solvent properties like flammability and toxicity.
Choosing a truly optimal solvent is likely to be a complicated process. The number of
employable, water—immiscible solvents, and of mixtures of such solvents, is almost
unlimited. Furthermore, as it is improbable that an ideal solvent would exist,
weighing of the various effects of solvent type against each other will be needed.

Immobilization of the biocatalyst has certain, well-proven benefits, like facilitated
product/biocatalyst separation, continuous processing and, sometimes, increased
stability [25-27]. As a consequence, the use of immobilized biocatalysts in
two-liquid—phase systems is an interesting combination of two developing
technologies. In two-liquid—phase/immobilized-biocatalyst systems immobilization
could provide additional stability to the biocatalyst by protecting it against
denaturating effects of the organic solvent. However, complications could arise from
unwanted interactions between the solvent and the support material used in the
immobilization technique. The type of support material is determining not only for
the activity and stability of the biocatalyst, but also, in case of entrapment of the
biocatalyst in natural or synthetic gels, for the hydrophilicity-hydrophobicity balance
of the gel. The latter is, like the type of solvent employed, of importance for the
partitioning of substrates and products between the biocatalyst phase and the liquid
phases [28-30].

Inherent to the nature of the reaction system, water/organic solvent bioreactions
are usually carried out in media involving two liquid phases. In case of an insoluble
(immobilized) biocatalyst, a third, solid phase is present. Sometimes even a fourth
phase, containing gaseous substrates and/or products, can be part of the multiphase
reaction system. An elucidating classification of these, potentially very complex
systems has been proposed by Lilly and Woodley [17]. The authors distinguished
three forms of theoretical concentration profiles (Figure 1) in addition to three types
of aqueous phase configurations (1: discrete continuous, 2: discrete discontinuous,
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Figure 1. The three theoretical concentration profiles possible in water/organic solvent two—phase
biocatalytic systems (reproduced from reference 17 with permission).
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3: non-discrete). The five reaction systems, which are theoretically possible if these
two discriminations are made, are schematically shown in Figure 2. The combination
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Figure 2. The five two-liquid—phase reaction systems distinguished by Lilly and Woodley (reproduced
from reference 17 with permission).

profile C/non-discrete aqueous phase (C3 in Figure 2) is somewhat different from the
other four systems (A1, B1, A2, B2), as the interfacial area available for mass
transfer is solely determined by the liquid/solid specific surface area of the
biocatalyst. Therefore, it is not necessary to disperse a liquid phase in an other
liquid. Furthermore, water activitics significantly lower than unity, desirable fore.g.
est]erification reactions, are probably easiest obtained in a class C3 system (e.g. [31,
32).

Certain, special two-liguid-phase bioreaction systems bear resemblance to the
above described water/organic solvent systems, but possess specific characteristics.
An example is the aqueous two-liquid—phase system proposed by Kula [33] and
Mattiasson [34]. By using the incompatibility of two water—soluble polymers, e.g.
polyethene glycol and dextran, it is possible to create two separate, aqueous phases.
As the surface tension between these two phases is very low, much lower than that of
water/solvent two—phase systems, a very high interfacial liquid/liquid area can be
easily obtained, while the chance of biocatalyst inactivation is reduced. The
distribution of substrates, products and the biocatalyst (mostly suspended) between
the two phases can be used to shift reaction equilibria and to remove toxic products
from the biocatalyst-rich phase. Reversed micelles (e.g. [35]) provide another
example of exceptional biphasic systems. The biocatalyst (up to now usually
enzymes) is located in very small water *pools’, which are dispersed in an organic
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solvent with the aid of ionic surfactants. This bioreaction system may thus be
classified under A2 in the scheme of Figure 2. The main advantage of employing
reversed micelles is the possibility of very high rates of mass transfer between the
water droplets and the solvent phase. An alternative procedure to sclubilize enzymes
in organic solvents was recently proposed by Takahashi et al. [18]. Polyethene glycol
was attached covalently to the surface of lipases, and the resulting composite was
found to be soluble in solvents like benzene, toluene and chloroform, containing
trace amounts of water, with retention of catalytic activity. It will be of interest to
learn, whether these new approaches will be applicable to a broad range of
biocatalysts.

1.3 Implications for Bioreactor Design

Despite ever increasing research efforts, it still takes many years to develop new
technological approaches and concepts from idea to practical utility. An example in
the field of chemical reaction engineering is the effectiveness factor concept [36].
Though the basic fundamentals of the process of simultaneous diffusion and chemical
transformation in catalyst particles were already understood in the late thirties [37,
38], it took some decades before this theory was developed to and applied at
advanced levels (e.g. [39, 40]). Similar phenomena are observed in the design of
immobilized-biocatalyst reactors. The immobilization of enzymes and the
employment of different types of immobilized-enzyme reactors became customary in
the late sixties and early seventies [41, 42]. However, this research area is at present
still making tremendous progress, as illustrated by the current trend to use
immobilized, growing or non-growing, whole cells [43—45]. It can be expected that a
similar development will also apply for the only recently initiated research on
two-liquid—phase biocatalytic reactors (using freely suspended or immobilized
biocatalysts).

Immobilization of the biocatalyst in water/solvent two—phase systems might be
advantageous, but is not crucial, as the product can be removed from the bioreactor
via the organic solvent, while the aqueous biocatalyst phase is retained. A problem,
that may arise if soluble biocatalysts are employed (class Al and A2 in Figure 2}, is
the emulsification of one of the two liquid phases in the other to create sufficient
interfacial area between the two liquid phases for high mass-transfer rates [17]. The
stirred tank is an obvious reactor type for this purpose. The emulsion should,
however, not become too stable, as this would result in unacceptably large
liquid/liquid separators. The complexity of class Al and A2 systems may thus be
considerable. This was recently illustrated by Harbron et al. [46] and Brookes et al.
[47]. Reaction rates in the used stirred-tank reactors were found to be dependent on
the degree of agitation and the ratio of the organic and aqueous phases. Also, the
cell concentration in the aqueous phase, which was related to the viscosity of the cell
phase, appeared to influence the reaction rate. These effects were attributed to
mass-transfer limitations across the water/solvent interface and/or in the aqueous
phase.

In case of biocatalyst immobilization (class B1, B2 and C3 in Figure 2) two
possibilities exist with regard to the mobility of the catalyst particles: moving or
fixed. Moving particles will be found in slurry reactors like the stirred tank and the
gas or liquid—fluidized bed. Reaction systems with unmoving particles are commonly
called fixed—bed reactors. The design of two-liquid—phase slurry bioreactors, in
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which a discrete aqueous phase is present (B1, B2), is likely to be even more
complex than that of class Al and A2 reactors. Not only the above mentioned mass-
transfer phenomena will occur, but also diffusion to and in biocatalyst particles could
become rate—controlling. The situation for reaction systems without a discrete water
phase (C3 in Figure 2), often found in fixed—bed reactors, seems, however, more
manageable. As the amount of water in this system is reduced to only a thin,
adherent film covering the particles, the liquid/liquid mass-transfer limitations may
disappear leaving only the external (organic liquid/solid) and internal diffusion
limitations to be dealt with. Description of the latter phenomena will be facilitated by
the availability of well-proven models of coupled diffusion and chemical reaction in
liquid/solid systems. These models were already applied successfully to
immobilized-biocatalyst systems involving water—soluble reactants [42—45, 48-50].

1.4 Epoxidation of Alkenes in Two-Liquid—Phase Biocatalytic Systems

The production of propene oxide from propene and oxygen by immobilized cells is
used in this thesis as a model to gain fundamental insights into the optimal design of
immobilized-biocatalyst reactors, in which a water-immiscible organic solvent
occupies a large part of the total reactor volume. In this section the reasons for the
choice of this particular model system will be expounded.

Propene oxide can be considered a typical bulk commodity of the chemical
industry. Its annual world production is about 2 X 10¢ metric tons, of which more
than 95% is again converted to other products, like urethane polyether polyols,
propene glycol, lubricants, surfactants and emulsion breakers [51). Due to its toxic
nature, one of the commercial uses of propene oxide itself is as a sterilizing agent.
The two major routes for the production of propene oxide are the chlorohydrin
process and the hydroperoxide process [51, 52]. Both oxidations make use of oxygen
carriers (HOCI and ROOH, respectively) to epoxidize propene, as it appeared not
possible to develop a commercial direct—oxidation route. In case of ethene oxide
such a process does exist. In the chlorohydrin process propene is reacted with an
aqueous chlorine solution in a packed-bed reactor {40 to 90°C), after which the
reaction products, two propene chlorohydrin isomers, are treated with a base to
produce the epoxide and a chloride salt. The formation of chlorinated hydrocarbons
(especially propene dichloride) as byproducts reduces the overall selectivity of the
propene epoxidation to about 90%. In the hydroperoxide process propene is reacted
with an organic hydroperoxide, which must be produced first from oxidation of
isobutane or ethylbenzene, The produced coproducts are in this case t-butyl alcohol
and ¢-methylbenzyl alcohol, respectively. The manufacture of the peroxide as well
as the epoxidation are carried out under elevated pressures and temperatures (2 to 5
MPa, 80 to 140°C). Both processes demand high operational costs as a result of high
energy demands, epoxide purification, treatment of byproducts, coproducts and
effluent, corrosion problems and safety measures. Therefore, much research was
and is directed at finding more economic alternatives. Only recently,
biotechnological epoxidation processes are being considered as possibly realistic
options. The phenomenon that some biotechnologically obtained epoxides are
optical active [53] could make bioprocesses especially interesting.

Many proposed, biotechnological processes for the direct conversion of alkenes to
the corresponding alkene epoxides are carried out with free or immobilized cells
[54-62]. A multi-enzyme process for the synthesis of alkene oxides was developed
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by Neidleman et al. [63, 64]. Some groups have investigated the potentials of the use
of water/organic solvent two—phase systems for epoxidation reactions [65-67]. Many
of the above listed advantages (paragraph 1.1) of employing biphasic systems could
be relevant. For instance, the solubility of alkenes and alkene oxides in suitable
solvents is often much higher than that in water, making high concentrations of
reactant and product in the bioreactor possible, and reducing the effect of any
substrate and/or product inhibition in the aqueous biocatalyst phase. The innovating
study of Schwartz and McCoy [65] gives a clear illustration of these phenomena. The
addition of a 20% (vol/vol}) cyclohexane phase to a fermentation broth of
Pseudomonas oleovorans increased the conversion of 1,7-octadiene to epoxyoctene
and diepoxyoctane from ~19% to ~90%. The extraction of about 95% of the
formed monoepoxide in the organic phase reduced inhibition by this product in the
cell phase, and this caused the higher substrate conversion. A similar conclusion was
also reported by de Smet [66]. High 1,2—epoxyoctane concentrations could be
reached by extracting the toxic product from the growing Pseudomonas oleovorans
cells into a 1-octene phase. In this case a substrate phase (1-octene) performs the
function of the substrate and product reservoir, Several aspects of the epoxidation of
1,7-octadiene by non—growing, free Preudomonas putida cells in a two-liguid-phase
system were studied by Harbron et al. [46]. The volumetric epoxide production rates
were claimed to be higher than those of growing cells reported in the work of
Schwartz and McCoy [65] and de Smet [66] as a result of the higher cell
concentrations used. Propene epoxidation by immobilized Nocardia corallina cells in
a biphasic system was recently reported by Miyawaki et al. [67]. The cells could be
’solubilized’ in a liquid paraffin phase, like biocatalysts in reversed micelles [35], by
emulsification with the paraffin and an antifoam agent. The hydrophobic
environment of the immobilized cells resulted in an improved activity and stability.

Though the economic feasibility of epoxidation processes using (two-liquid—
phase) biocatalytic reactors is still questionable, the huge amount of research
directed to this subject makes it conceivable, that commercial units may be in
operation in the next decade. Therefore, considering the fundamental importance of
two-liquid-phase systems, the design of a biocatalytic, biphasic epoxidation process
provides an interesting mixture of basic research and commercial relevance. In this
work the epoxidation of a gaseous alkene, propene, by non—-growing Mycobacterium
ceils [68] was chosen as the model reaction. This epoxidation is suited for
fundamental studies as the reactants (propene and oxygen) and the product of this
bioconversion are relatively simple molecules. This facilitates the estimation of
chemical, physical and thermodynamic properties of these substances. The main
advantages of using two-liquid—phase systems are also very relevant to propene
epoxidation. The formed epoxide is very inhibitory [69], and the gaseous substrates
are only slightly soluble in water. The presence of an organic phase could reduce
product inhibition by extraction of the epoxide and, furthermore, could facilitate the
transport of the two substrates from the gas phase to the cell phase. Also, hydrolysis
of propene oxide in water, reported to occur to some extent [70], can be prevented
by keeping the epoxide in an organic product reservoir. The economic feasibility of
the process is enhanced by the high optical activity of the formed propene oxide [S3].
Many of the above listed incentives, except stereospecificity, could also be
applicable to ethene epoxidation. However, in this case a gas-solid bioreactor may
be more feasible than a multiphase bioreactor [61].
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1.5 Review of the Work to be presented

In this thesis the results of a fundamental investigation of water/organic solvent
two—phase biocatalytic systems are described using the microbial epoxidation of
propene as a model. Emphasis will be placed on the design of immobilized-
biocatalyst reactors without a discrete aqueous phase (class C3 in Figure 2).
Microbial aspects of the Mycobacterium strain used for the epoxidation, like the
screening of cell strains, activity, specificity, stability, genetic work, cell-growth
conditions and stereospecificity of the formed epoxides, were studied in a parallel
research project [53, 68, 69].

An automated experimental set—up was employed to facilitate the measurement of
the rates of propene and oxygen consumption and epoxide production under varying
conditions (chapter 2). The importance of a proper choice of the solvent type will be
discussed in chapter 3. Criterions are given to guide this decision. The microkinetics
of the product-inhibited epoxidation with gel-entrapped cells, reaction kinetics and
mass—transfer effects, are modelled in chapters 4 and 5. In chapter 6 this
microkinetic model is incorporated in an integral model of a packed-bed
organic-liquid-phase/immobilized—cell reactor. The influence of the substrate
solubility in the reaction medium is quantified. Limitations of the production of
propene oxide in an organic-liquid—phase/immobilized—cell reactor are treated in
chapter 7. Finally, concluding observations are made in the last chapter of this
thesis.
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SUMMARY

An experimental set-up for automatic gas chromatographic analysis of circulation gas
in a batch-reactor system is described. Gas sampling, substrate addition, data acquisition
and data reduction are done with a coupled programmable integrator and microcomputer.
On-line monitoring of the microbial oxidation of the gaseous alkenes, propene and 1-
butene, to the corresponding epoxides is used to illustrate the operation of the experi-
mental system, Measured gas concentrations of alkene and alkene oxide can be converted
readily to quantify the reaction course in the liquid phase(s) of the circulation system.
Results are presented for both one liquid phase (water) and two liquid phases (water and
organic solvent) present in the reactor. The operational stability of the immobilized-cell
system used for the epoxidations can be assessed by computer-<controlled addition of
gaseous alkene.

The use of water-immiscible ¢rganic solvents has recently been given in-
creasing attention as a possible approach to diminishing the fundamental
restrictions often inherent in biotechnological processes. Some of these re-
strictions are the low solubility of (gaseous) substrates and/or products in
water, product inhibition, product hydrolysis and laborious product re-
covery [1, 2]. In order to study the potential of an additional organic phase,
the epoxidation of the gaseous alkenes, propene and 1-butene, by immo-
bilized cells in a multiphase bioreactor has been studied as a model, The
system consists of a solid biocatalyst, an aqueous phase, an organic solvent,
and a gas phase containing the gaseous substrates oxygen and propene or
1-butene [3]. Selecting an optimal composition for this multiphase system
involves careful weighing of many different factors and their possible mutual
interactions. Factors such as the technique of immobilization, type of
organic solvent, microbial aspects (bacterial strain, co-factor regeneration)
and process engineering aspects (hydrodynamics, reactor design) allow a vast
number of combinations, which requires automation of the experiments,
especially the monitoring of alkene and alkene oxide concentrations in the
liquid phases.
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The choice of a well-established technique like gas chromatography (g.c.)
for separation and determination of the various components in the multi-
phase system is obvious. Gas chromatography may be used for on-line moni-
toring by using a small sampling interval in combination with the proper
chromatographic conditions. Direct g.c. of the aqueous and/or organic liquid
phase has several disadvantages: it is difficult to quantify small quantities of
organic compounds in water because of overloading the column and the
detector by water; the various solvents (and their impurities) used may intey-
fere seriously and contaminate the g.c. column; and the automation of
liguid-sample withdrawal is expensive. The need for intimate contact be-
tween gas and liquid phases to supply the gaseous substrates, however, makes
it feasible to follow the reaction course in the reactor by measuring the gas-
phase concentrations. The easily detectable gaseous substrates and volatile
alkene oxides and the low concentrations of water, solvent and impurities in
the gas phase, and the simple automation of a gas-sampling valve, are further
considerations which make gas analysis preferable to liquid analysis. This
technique, head-space gas chromatography (h.s.g.c)), has found practical
applications in trace analysis and in the measurement of thermodynamic
data [4], and has been used recently to monitor batch and continuous
alcoholic fermentations with ethanol concentrations in the liquid phase up
to 110 g I, and acetone/butanol fermentation with acetone and butanol
concentrations in the liquid phase up to 20 g 17 [5, 6].

An inherent disadvantage of quantitative h.s.g.c., compared with direct
g.c., stems from the need to convert the measured gas concentrations to
liquid concentrations so that additional parameters must be considered [4].
The conversion is mostly based on the assumption of thermodynamic
equilibrium between the gas and liquid phase(s). Henry’s law may be used
for poorly soluble gases like oxygen and propene to correlate the partial
vapour pressure {p;) of a component { in the gas phase and its mole fraction
(x;) in the liquid (agueous or organic) phase: p; = H;x,;, where H; is the Henry
constant of component i. For less volatile, better soluble compounds like
alkene oxides, non-ideality in the liquid phase is taken into account by speci-
fying an activity coefficient v; of the dissolved component i If ideal be-
haviour of the gas phase can be assumed, the activity coefficient relates the
partial vapour pressure to liquid mole fraction by the equation

D; =P?’hxi (1)

in which p? is the vapour pressure of the pure component i. The activity
coefficient depends not only on temperature and, to a lesser extent, on
pressure, but also on the interaction between component i and the other
components present. Successful quantitative interpretation based on the p;
equation, and the experimental determination of the calibration factor pfy,,
must therefore take into account possible changes in the activity coefficient
caused by variations in the composition of the liquid phase. At low concen-
trations of the component of interest, a linear relation between signal (p;)
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and the mole fraction in the liquid (x;) is expected, because the activity coef-
ticient of a very dilute sclution is nearly constant [4, 7]. Comberbach and
Bu’Lock [b] found that for ethanol/distilled water mixtures, a linear rela-
tion exists between the h.s.g.c. signal and the actual ethanol concentration in
the liquid phase from 2 to 80 g 1.

EXPERIMENTAL

Batch reactor with gas circuit

Cells were entrapped in calcium alginate gel for immobilization. Details of
the immobilization technique and of microbial aspects such as substrate
specificity of the Mycobacterium strain E3 used for the epoxidations, are
reported elsewhere [3]. Experiments with the biocatalyst beads (ca. 25 ml)
were done with a small bubble-column bioreactor, containing an agueous
0.05 M calcium chloride solution and in some cases an organic solvent phase
{total volume of beads and liquid phases, 250 ml). An aerated flask contain-
ing 250 ml of (0.05 M) potassium phosphate buffer of pH 7.0 was used In
measurements with suspended cells. Air (25 ml s) from a gas supply vessel
(300 ml) containing 1.7% alkene {(v/v) was circulated through the suspension
of immobilized or free cells by means of a gas diaphragm pump (Fig. 1).
Reaction and gas supply vessel (total gas volume 570 ml) were thermostated
at 30°C in a water bath. Eyrors produced by leakage of gaseous components
were minimized by using only materials with low gas permeability, like glass,

Helwm carmer gas

gas chroma
tograph

|
|

(10) L]

integrator

oy ¢

microcampu -
ter

Fig. 1. Schematic representation of circulation batch reactor and control system:
(1) bubble-column bioreactor; (2) gas-supply vessel; (3) diaphragm pump;(4) oxygen inlet
with water seal; (5) heating; (6) two-position gas-sampling valve showing the normal
(---)} and inject (———) mode; (7) sample loop; (8) magnetic valves; (9) control signals;
(10) external-control option; (11) analog g.c. signal; (12) digital communication. See also
text and Fig. 2.
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teflon (compared with other plastics) and viton for tubing. As the gaseous
substrates were consumed in the reaction, the pressure in the system
decreased; atmospheric pressure was maintained by introducing pure oxygen
through a water seal, which also maintained an excess of oxygen.

Gas samples {0.48 ml) were withdrawn from the gas circuit every 30 min
by a computer-controlled electropneumatic two-position gas-sampling valve.
Problems of water condensation were averted simply by heating the gas
entering the valve to 50°C and isolating the sampling valve and sample loop,
which resulted in a reasonably constant valve temperature (about 35°C).

Measurements of the operational stability of the immobilized-cell system
were facilitated by controlling the substrate level in the circulation system.
Gaseous alkene was added by sequential computer-controllied opening and
closing of two magnetic valves. The amount of gas added per sequence was
determined by separate calibration.

Gas chromatograph

A gas chromatograph (Carlo Erba 4200) equipped with flame-lonization
and thermal-conductivity detectors was used. Helium was used as carrier gas
(0.33 ml s™); the column (2 m, 3 mm o.d.) was packed with Porapak-Q (80—
100 mesh). Oven and flame-ionization detectors were held at 200 and 210°C,
respectively. Alkene and alkene oxide were quantified regularly by computer-
controlled switching of the two-position valve into the inject mode, upon
which the content (0.48 ml) of the sample loop was carried into the column.

The partial vapour pressures of (excess) oxygen and nitrogen were verified
by manual injection of gas samples (50 ul) onto a column packed with mol-
ecular sieve 13X (60—80 mesh) and using the thermal-conductivity detector.
This column was positicned outside the gas chromatograph and used at am-
bient temperatures.

Response factors relating peak areas to gas phase concentrations were eval-
uated by adding known quantities of alkene or alkene oxide io the system
described above (without biocatalyst}, and/or to known gas volumes (not in
contact with a condensed phase), and subsequent analysis of the gas phase.
Likewise, addition of a known quantity of alkene oxide to the batch-reactor
system (also no biocatalyst) made it possible to establish relationships be-
tween liquid and gas phase concentrations of the epoxide in question.

Integrator and microcomputer

Processing of the analog g.c. signals and control of the electropneumatic
and magnetic valves were done with a programmable integrator (Spectra-
Physics 4270) coupled to a microcomputer (Hewlett-Packard 86-B). The
integrator was equipped with an interface (RS-232) for serial communication
with the computer, and with external controls (6 per channel of integration)
for on/off-switching of valves and, if necessary, of other equipment (see
Fig. 2). Implementation of a second channel for peak integration is optional.
The interfacing capabilities could be extended for data acquisition from
various instruments (e.g., pH and oxygen electrodes).
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Fig. 2. Signal flow diagram showing the coupling of integrator and microcomputer, Serial
interfaces (RS-232) were used for the communication signals (a, b, ¢, d). See text for dis-
cussion.

Data handling

At regular time intervals At (e.g., 30 min) the sampling sequence (Fig. 2)
is initiated by the built-in timer of the microcomputer. The analysis is started
{arrow a in Fig. 2) by transmitting an inject command to the integrator; this
has the same effect as pressing the ““start’’ or “inject’”” knob of the integrator.
The analysis and peak integration are controlled by built-in standard pro-
grams. The parameters needed are stored in the integrator memory before
the experiment. Typical values are: at 0.01 min (almost zero), switch gas-
sampling valve to the inject mode; at 4.9 min, switch gas-sampling valve to
the normal mode; at 5 min, terminate the signal integration. The main pro-
gram in the microcomputer then initiates a simple user-written program for
area selection at 5.2 min (step b); only the areas of the required components
are selected and subsequently transmitted (step c) back to the computer.
Required unit conversions (e.g., area to partial vapour pressure) and calcula-
tions are then done. In experiments with a constant level of alkene, the alkene
area or concentration of the latest sample and, if wanted, of previous samples
are compared with a user-defined setpoint. If the deviation exceeds a certain
value, a small quantity of substrate is added to the batch-reactor system by
initiating (step d) another user-writien program section in the integrator
memory, which in turn activates the substrate valve(s). Sample number,
sampling time, areas or concentrations, number of substrate additions and
total amount of substrate consumed are then printed and stored (computer
memory and/or disc drive) and can be reproduced graphically on the video
display (e.g., alkene (oxide) concentration versus time).
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RESULTS AND DISCUSSION

Quantitative h.s.g.c.

The consumption of the alkene substrates could be quantified by using as
reference the first measurement taken very shortly after the addition of a
known amount of alkene (10 ml). The conversion factor between peak area
and total amount of gaseous alkene present in the various phases of the cir-
culation system was determined thus. The peak areas during the remainder
of the experiment were converted to ml of alkene by using this factor. It was
assumed that decreasing alkene concentrations did not affect the value of the
Henry constants of interest (alkene/water, alkene/solvent). Gas and liquid
concentrations were calculated with the absolute values of the Henry con-
stants. For example, from the constant for propene in water (1.24 X 10® kPa
at 30°C [8]), it was calculated that 4.6% of the total amount of propene
present would dissolve in the 250-ml aqueous phase (water and hydrophilic
gel), while the rest remained in the 570-ml gas phase. The low salt concentra-
tions used (0.05 M calcium chloride) showed no significant effect on the
fraction of propene present in the gas phase,

Activity coefficients are needed to convert the measured gas concentra-
tions to liquid concentrations of the produced alkene oxides. In experiments
with only one (agueous) liquid phase (no organic solvent), propene oxide
was quantified by addition of a known quantity of propene oxide Npy fo
the circulation system. Separate calibration (only gas phase present) of the
measured peak areas of propene oxide for conversion of areas to gas mole
fractions ypo (see Table 1) made it possible to determine the liquid mole
fraction xpo by using a simple mass balance

xpo = (Npo —¥polNg }/IN (2)

TABLE 1

Equilibrium data for propene oxide

Npg? ypo® YpoNg/Npo® xpp? Teo®
(10 mol) (107%) (10™)

713 0.796 0.026 0.50 18,2
1426 1,52 0.024 1.00 17.4
2139 2,23 0.024 1.50 17.0
2862 3.08 0.025 2.00 17.6
3565 3.84 0.025 2,50 17.6
4278 4,63 0,025 3.00 17.7

Average 17.6

2Total number of moles of propene oxide present in the circulation system, P Gas-phase
mole fraction (h.s.g.c. signal}. ®Fraction of propene oxide in the gas phase. dLiquid mole
fraction. © Activity coefficients.

24




in which N, and N, are the total number of moles in the gas and liquid phase,
respectively (570 ml or 0.0229 mol of gas phase and 250 ml or 13.9 mol of
demineralized water). Activity coefficients, ypo, were estimated by using the
equation (obtained from Eqn. 1)

Yro = Pro/XpoPbo = Yro Py /xpoPPo (3)

with the system pressure P, = 100 kPa, and the vapour pressure of pure pro-
pene oxide at 30°C, pdo = 87.25 kPa [9].

From Table 1 it may be concluded that for the dilute aqueous solutions of
propene oxide considered (<3 X 10™), the activity coefficient is independent
of epoxide concentrations, and that there is a linear relationship between
ypo (h.s.g.c. signal) and the liguid-phase mole fraction xpo . Quantification
of the propene oxide is also facilitated by the linear relationship between the
h.s.g.c. sighal or gas-phase mole fraction ypg and the total number of moles
of propene oxide Npg present in the batch-reactor system (Table 1): ypo =
1.08 Npg — 2 X 107 (standard error of estimate 0.04 X 107; correlation
coefficient 0.999). In most of the tests, the total amount of biologically
produced liquid propene oxide did not exceed 29.2 pl (416 pmol, the maxi-
mum theoretical production from 10 ml of gaseous propene), thus Table 1
shows that a single factor suffices for the conversion of peak areas to pro-
duced amounts of epoxide, and also to liquid epoxide concentrations.

Similar behaviour has already been found for dilute aqueous solutions of
alcohols, ketones, aldehydes, esters and sulfides [ 7], thus it can be assumed
that the same linear relationship will hold for 1-butene oxide. It was found
that the small fraction of the total amount of this epoxide that was con-
tained in the gas phase (3.2%) was slightly higher than the corresponding
fraction of propene oxide (2.5%).

As the solubility of propene oxide and 1-butene oxide in the water-immis-
cible organic sclvents used is mostly higher than the corresponding solubility
in water, replacement of part of the aqueous phase by these solvents will
decrease the gas-phase and aqueous phase concentrations of the epoxide. The
epoxide activity coefficients will be affected considerably by the mutual
solubility of water and the organic solvent. Accordingly, conversion of gas
concentrations to aqueous and organic liquid concentrations, and the dis-
tribution of the epoxide between the two liguid phases, cannot be evaluated
from activity coefficients of separate gas/water and gas/solvent calibrations.
Although not required in the present investigation, epoxide concentrations
in the liquid phases may be deduced from separate gas/water/solvent calibra-
tions.

Monitoring alkene consumption and alkene oxide production

The micrebial epoxidation of propene and 1l-butene was investigated as
described above, Typical gas chromatograms for the propene epoxidation,
at the start and finish of the experiment, are shown in Fig. 3. Methane was
used to check the sealing of the recirculation system. Separate blank mea-
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Fig. 3. Typical chromatograms from a propene epoxidation experiment: (a) only methane
(1.15 min ) and propene {(1.81 min) are present at the start; (b) at the end, propene was
mostly converted to propene oxide (3.69 min). Peak markers show the start and end of
peak integration. Switching of the gas-sampling valve is indicated by “T3 1" (inject mode)
and “T3 0"’ {normal mode).

Fig. 4. Amount of unconverted propene in the system versus time: (o) free cells; (+) cells
immobilized in 0.7-mm alginate beads; {®) cells immobilized in 2.5-mm alginate beads.

surements, without biocatalyst, showed that the leakage rate of propene at
the maximum propene level (1.7% v/v) was several times higher than the
leakage rate of methane (also 1.7% v/v). In these experiments, alkene leakage
rates were always less than 5% of the alkene consumption rates. Retention
times of 1-butene and 1-butene oxide for the same chromatographic condi-
tions were 2.5 and 6.4 min, respectively. The total time required for one
sampling sequence was about 5.5 min for propene epoxidation, but may be
reduced to 2 min or even less by increasing carrier flow and oven tempera-
ture and/or reducing column length and diameter.

Results of propene consumption by free and immobilized cells in an
aqueous environment are given in Fig. 4. Equal amounts of cells (ca. 1 g dry
weight) were used in each case. Propene levels are given in ml (gaseous) pro-
pene present in the total circulation system. Multiplication by appropriate
factors would give the number of moles present, partial vapour pressure, gas
or liquid mole fraction as the unit of the Y-axis. Compared to the curve for
2.5 (x0.2)-mm beads, there is only a small difference in propene consumption

26




pEp—

rate between free suspended cells and cells immobilized in alginate beads
with an average diameter of 0.7 + 0.1 mm, obviously because of diffusion
limitation.

The kinetic parameters can be estimated by different methods, including
non-linear regression, and the diffusion limitation can be modelled by using
the same microcomputer system; details will be given elsewhere. For example,
the kineiic parameters of the integrated Michaelis—Menten equation, esti-
mated by a non-linear regression of substrate versus time, were used to char-
acterize the alkene consumption rates. Illustrations of this regression method
are given in Figs. 5 and 6. It did not seem necessary to make these calcula-
tions during the experiments.

Measured values of propene oxide and 1-butene oxide production by cells
immobilized in alginate beads are compared with values calculated from
propene and 1-butene consumption rates in Fig. 7 (1 ml of gaseous propene
gives 2,92 ul of liquid propene oxide; 1 ml of gaseous 1-butene gives 3.58 ul
of liguid 1-butene oxide). Epoxide levels are given as the total amount in the
circulation system, but most of il is in the aqueous phase (see above). De-
spite the small quantities of propene oxide and 1-butene oxide in the gas
phase, the trend of the epoxide concentrations is clear. The increasing differ-
ence between the epoxide concentrations found and those calculated from
alkene consumption rates confirms that the bacterial strain used can con-
sume the alkene oxides [3]. Decreasing the sampling time interval will
improve the reliability even further. The relative influence of the experi-
mental error in the alkene oxide concentrations (10—20% in Fig. T) is
smaller at higher epoxide levels (see below).

Propene epoxidation was also monitored in the presence of a second
liquid phase consisting of a water-immiscible organic solvent (10 ml). Some
results are summarized in Fig. 8. As reported for other cells [10], the very
inert perfluoro compound used (FC-40; 3M, St. Paul, MN) caused little or no
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Fig. 5. Dimensionless substrate (propene) concentrations, §/5,, versus time for cells (0.8 g
dry weight) immobilized in 1.0-mm alginate beads. Smooth line depicts the Michaelis—
Menten model approximation (Vy, = 2,30 umol min™ g dry weight™; K,,, = 20900 umol
m?),

Fig. 6. Dimensionless propene consumption rates rg/Vy, versus substrate (propene} con-
centration S for immobilized cells (as in Fig. 5). Smooth line depicts Michaelis—Menten
model approximation as in Fig. 5.
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Fig. 7. Amount of liquid epoxide preduced in the circulation system versus time: (A) pro-
pene oxide with 0.7-mm beads; (B) butene oxide with 0.8-mm beads. (¢) Measured values,
{ +) values calculated from substrate consumption.

inactivation of the cells compared to a blank measurement without solvent.
Commoner solvents (phthalic acid dibutyl ester and di-isopentyl ether)
caused some cell inhibition, and hexane and trioctylamine rapidly inactivate
the immobilized-cell system.

Substrate level control

The operational stability of the immobilized cells was verified by monitor-
ing the substrate level. The propene concentration was held constant within
about 10% of a user-defined setpoint (10 ml in these tests) by computer-con-
trolled opening and closing of two magnetic valves each time the measured
propene concentrations of two consecutive analyses both fell below the set-
point. Such variations in propene level are unlikely to affect the substrate
consumption rate as the enzymatic reaction order at this substrate level is
close to zero. Again, an increasing difference was found between the measured
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Fig. 8. Amount of unconverted propene in the system versus time with 10 ml of organic
liquid phase present (cells immobilized in alginate): (+) blank measurement; (¢) FC-40;
() phthalic acid dibutyl ester; (X} di-isopentyl ether; (~) n-hexane; (o) trioctylamine.

Fig. 9. Amount of propene oxide produced in the reactor with control of propene level

(cells immobilized in alginate). Lower points represent measured values; upper points
represent values calculated from cumulative amount of propene addition.
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amount of liquid propene oxide and the calculated production, obtained by
multiplying the number of substrate additions by the amount of propene
added (0.74 ml) in one valve-switching sequence (Fig. 9).

From the number of analyses {(each 10 min), the volume of the gas phase
in the circulation system, and the internal volume of the sample loop of the
gas-sampling valve (0.48 ml), it can be deduced that the maximum cumula-
tive experimental error arising from sampling losses of propene is about 5%.
Minimizing this error, and preventing the oxygen partial vapour pressure
from becoming too low, is possible by increasing the interval between sam-
pling times, reducing the sample loop volume and/or increasing the volume
of the gas phase.

Further research will concentrate on factors of importance for the optimi-
zation of this multiphase system.
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The microbial epoxidation of propene and 1-butene was
used to study some fundamental aspects of two-liquid-
phase biocatalytic conversions. Introduction of a water-
immiscible organic solvent phase in a free-cell suspension
gave rise 1o a series of undesired phenomena, e.g., in-
activation by the solvent, clotting of biomass, and ag-
gregatian of cells at the liquid-liquid interface. lmmo-
bilization of the cells in hydrophilic gels, e.g., calcium
alginate, prevented direct cell-organic solvent contact
and the related clotting and aggregation of biomass.
However, the gel entrapment did not seem to provide
additional protection against the organic sclvent. The
influence of various organic solvents on the retention of
immobilized-cell activity was related to sclvent properties
like the polarity (as expressed by the Hildebrand solubility
parameter} and the molecular size {as expressed by the
molecular weight or molar volume). High activity retention
was favored by a (ow polarity in combination with a high
molecular weight. The solubility parameter also proved
useful to describe the capacity of various organic solvents
for oxygen and alkene oxides. This facilitated the optim-
ization of the solvent polarity.

INTRODUCTION

The immobilization of enzymes, cell organelles, and
whole cells has become a widely applied and commonly
accepted technique in the field of biocatalysis. A state-
of-the-art review conceming the many different aspects
of this fast expanding area has recently been given by
Mattiasson.' The great interest in immobilized biocata-
lysts is based on well-known advantages inherent to
the immobilization, that is, improved biocatalyst sep-
aration, continuous processing and sometimes enhanced
operational stability, Immobilization has not changed
the situation that bioconversions are still mostly per-
formed in aqueous environments. Replacement of part
of the aqueous phase by an organic phase, however,
might prove to be as important as the immobilization
technique for broadening the scope of practical
applications.™

Two classes of water—organic solvent systems can
roughly be distinguished: (1) water-water-miscible or-
ganic solvent homogeneous liquid system® and (2)
water-water-immiscible organic solvent two-liquid-

phase system.>® In the latter case the free, or im-
mobilized biocatalysts are present in the aqueous phase,
whereas the main part of the substrates and products
are contained in the organic phase. The presence of
a substantial amount of crganic solvent in the bio-
catalytic reaction medium may offer certain important
advantages in comparison to the aqueous reaction me-
dinm. High concentrations of poorly water-soluble
substrates and/or products are possible in organic-
solvent-containing media. The chance of microbial
contamination is reduced. Furthermore, reaction equi-
libria may be shifted favorably, and substrate and/or
product hydrolysis can be largely prevented. In case
of two-liquid-phase systems extra advantageous phe-
nomena could occur. Substrate or product inhibition
may be reduced as a consequence of a lower inhibitor
concentration in the aqueous environment of the en-
zyme or cell, and recovery of product and biocatalyst
is facilitated. The main drawback of introducing an
organic solvent is denaturation of the enzymes re-
sponsible for the desired bioconversion. The influence
of this denaturation by the solvent might be reduced,
and consequently the biocatalyst stability enhanced,
by immobilizing the biocatalysts at or in a profective
support. In that case one also benefits from the intrinsic
advantages provided by immobilization itself.
Though an additional liquid phase tends to complicate
the process, e.g., hydrodynamics, bioreactor design,
handling, separation, the two-liquid-phase system might
often be preferable to the homogeneous liquid system.
In the latter system high organic solvent concentrations
in the aqueous biccatalyst phase may lead to inhibition,
denaturation, and loss of substrate specificity. Similarly,
high substrate and/or product concentrations can also
give rise to inhibition. Furthermore, the first type of
system is never very hydrophobic and therefore not
suited for very lipophilic substrates. The work described
in this article will concentrate only on the water—
organic solvent two-liquid-phase reactions. The special
case of agueous two-liquid-phase systems' in which
the incompatibility of two different water-soluble poly-
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mers creates Iwo separate aqueous phases will also
not be considered.

Until now a main part of the research on two-liguid-
phase biocatalytic reactions deals with the transfor-
mations of the very water-insoluble steroids. Much
work concerning this type of bioconversion has been
carried out by Antonini and co-workers.” Free or im-
mobilized enzymes and solvents like ethyl and butyl
acetate were used for the biotransformation of different
steroids. The oxidation of the steroid cholesterol by
free and immobilized cells suspended in various organic
phases has been studied by Lilly and co-workers >**
Several steroid conversions were investigated by Fukui
and Tanaka.” Cells were entrapped in gels of various
degrees of hydrophilicity/hydrophobicity. The im-
mobilized biocatalysts were contacted with organic
solvents, like mixtures of benzene and n-heptane, con-
taining the steroid substrates. Some examples of bio-
reactions not involving steroids have also been reported.
Omata et al.'” demonstrated the hydrolysis of methyl
succinate by gel-entrapped cells in water-saturated #-
heptane. In another study a favorabie shift in the re-
action equilibrium of an esterification was established
by using an enzyme covalently bound to porous glass
in chloroform.! In this case the low water activity
strongly increased the yield of the ester. Schwartz and
McCoy'? showed that the presence of a cyclohexane
phase during the fermentation of octane and I1,7-0¢-
tadiene greatly increased the conversion of the diene
to epoxy-octene. This increase was attributed to the
lower concentration of the monoepoxide, and hence
reduced product inhibition, in the aqueous fermentation
broth. Adlercreutz et al."’ used emulsions of perfiuoro
chemicals to enhance the oxygen supply to cells en-
trapped in calcium alginate. Completely flucrinated
organic compounds were applied in relation to their
very nonpolar and inert properties and their high solvent
capacity for gases. From the above work it can be
concluded that uniform rules for the design of two-
liguid-phase systems are still insvfficiently available.

Two characteristics of two-liquid-phase systems seem
to play a predominant role in process design and op-
timization, that is, type of organic solvent, and (if
applicable) technique of immobilization. The nature
of the organic solvent can markedly affect the reaction
kinetics and stability of the biocatalyst, the chemical
and mechanical stability of the carrier material, and
finally the partition of substrates and preducts between
the different phases. The polarity of the solvent has
been used to qualify some of the mentioned effects.>*"®
Omata et al.” reported that a high solvent polarity
promoted the penetration of a hydrophobic substrate
in a hydrophilic gel but also inactivated the entrapped
cells. This example illesirates that the various solvent
effects on the efficiency of the bioconversion are often
contradictory and that optimization is necessary when
choosing an organic solvent.
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The technique of immobilization and the amount of
water surrounding the biocatalyst both may influence
the rate of mass transfer of substrates and products
between the different phases in the two-liquid-phase
system. Futhermore the retention of activity and sta-
bility of the biocatalyst will be affected by the im-
mobilization. A minimal degree of enzyme hydratation
will always be necessary for the maintenance of catalytic
activity.* An optimum in this amount of water seems
likely." A thick "layer’ of protective water will cause
little or no denaturation by the solvent. However,
diffusion limitations may occur as a consequence of
the long diffusion path through water, the small in-
terfacial specific surface area, and/or the low solubility
of lipophilic or gaseous substrates in water (e.g., ox-
veen). High mass transfer rates are more likely when
the amount of water is minimized (e.g., reversed mi-
celles," but the number of practical examples is still
lirnited.

When gel entrapment is used as the immobilization
technique, the quantity of swrounding water is de-
termined by the size of the gel particle and by the
hydrophobicity-hydrophilicity balance of the gel. A
very hydrophilic gel, like calcium alginate, will have
a high water content, which in turn leads to a high
retention of activity. Again, however, low diffusion
rates of substrates and products through such an
aqueous gel may cause an undesirable tow overall
reaction rate. It has indeed been shown that increasing
the hydrophobicity of the gel used for entrapment may
result in higher activities.” Higher gel-solvent partition
coefficients of the substrates were found to correlate
with these higher conversion rates.

In this work a study is presented concerning some
of the fundamental aspects of two-liquid-phase bio-
conversions mentioned above. We are investigating
as a model the microbial epoxidation of propene and
l-butene in a system containing a water-immiscible
organic solvent.” " In addition to the two liquid phases,
this multiphase system also consists of a solid, im-
mobilized-cell phase and a gas phase containing the
two gaseous substrates oxygen and alkene. Many of
the above-stated advantages of immobilization and of
an additional organic phase are applicable to this model
reaction. The very inhibitory effects of propene oxide
and I-butene oxide on the catalytic activity of the
cells® can be averted by in situ extraction of these
products into the organic phase. The solubility of the
gaseous substrates, only sparingly sofuble in water,
is relatively high in a suitable organic solvent. Recovery
of the immobilized biocatalyst and the epoxide is fa-
cilitated. A possible lowering of the yield due to hy-
drolysis of propene oxide"™ can be prevented.

The design and optimization of the multiphase system
will be expounded in relation to the microbial epox-
tdation of gaseous alkenes. It is shown, however, that
the derived design criteria, especially with respect to




the organic solvent and its interactions with other sys-
tem elements, can be helpful in various applications
of two-liquid-phase bioconversions,

MATERIALS AND METHODS

Chemicais and Microorganism

Solvent source, purity, molecular weight, and specific
gravity are presented in Table I. Liquid propene oxide

and I-butene oxide were obtained from Merck. Mixtures
of different perfluoro chemicals (FC-40, FC-70) were
purchased from 3M, St. Paul, MN. Propene and 1-
butene were of commercial purity and obtained from
the Matheson company, East Rutherford, NY. Alginate
Industries, London, the United Kingdom, and the Co-
penhagen Pectin Factory Lid., Denmark, provided so-
divm alginate (Manucol DM} and sodium K-carrageenan
(Genugel type X-0828), respectively. Microbial aspects,
like substrate specificity, of the Mycobacterium strain

Table I. Physical properties, solubility parameters, and immobilized-cell activity retentions of organic solvents used.

Specific Solubility
Molecular gravity in water® Solubility Activity
Solvent Purity weight (20°C) (20°C) parameter retention
Solvent number Source (%) {g/mol} (g/em’) (% w) [(cal/cm®)™%] (%)
Saturated aliphatic hydrocarbons
n-Hexane | Merck 9w 86.18 0.660 0.00095 7.3 39
n-Hexadecane 2 Baker >99 226.45 07733 — 8.0 85
Aromatic hydrocarbons
Totuene 3 Merck 9.5 €N2.15 0.8569 0.052 B9 -0
Ethylbenzene 4 Merck 9% 106.17 0.867 0.0152 B.8 29
Unsaturated hydrocarbans
Styrene 5 Merck 9.5 104.15 0.906 0.031 9.3 a5
Aliphatic alcohols
i-Butanol 6 Merck o9 74.12 0.8098 9 11.4 =0
I-Hexanol 7 Merck ] 102.18 0.814 0,594 10.7 ]
Aliphatic ethers
Diisopropyl ether 8 Merck 2% 102.18 0.723 1.197 7.1% 56
Diisopentyl ether 9 Merck ” 158.29 0.777 0.020 7.2 77
Aromatic ethers
Methyl phenyl ether i0 Merck 9% 108,13 0.993 1.04 9.5* 5
Diphenyl ether n Fluka >98 170.21 1.0748 0.39 2.6° ~95
Aliphatic aldehydes
Hexanal 12 Merck 98 100.16 0.815 0.5 9.7 ~{
Aliphatic kstones
Methyl isobutyl ketone 13 Merck w9 10016 0.758 1.693 9.4 ~0
Methyl octy) ketone 14 Fluka >95 156.27 0.825 —_ 7.8 53
Esters of saturated aliphatic monocarboxylic acids
Butyl acetate 15 Merck 9 116.16 0.883 043 85 3
Ethyl trichloro acetate 16 Pfaitz B. - 191.44 1.3936 — 8.9 16
Esters of upsatvrated aliphatic mosocarboxylic acids
Butyl acrylate 17 Merck 9 128.17 0.898 — B4 ~0
Esters of aromatic monocarboxylic acids
Butyl benzoate 18 Merck 9 17823 1.00¢ — B.4* it]
Esters of dicarboxylic acids
Dicthyl maleate 19 Merck 97 172.18 1.065 1.4 8.7 1
Dibuty] adipate 20 Fluka 99 258.36 0.962 — 8.5 T
Dimethyt phthalate 1] Merck 9 194.19 1.188 043 10.7 1%
Diethyl phthalate 22 Merck 9 222.24 Ly —_ 10.0 ;|
Dibutyl phthalate 23 Merck 99 278.35 1.043 0.040 9.3 76
Dioctyl phthalate 24 L&1 9 390.54 0.985 - 79 108
Didecyl phthaiate 25 Fluka >95 446.68 0.966 — 7.2 101
Di-(2-methoxyethyl) phthalale 2% Fluka =9 282.30 L1711 — 10.2° 22
Dially] phthalate 7 Fluka ~97 246.27 1119 —_ 10.1¢ 43
Esters of polybasic acids
Tri-n-butyl phosphate 28 Fluka » 266.32 0.9% 0.039 £.6° 12
‘Tri-2:-talyl phosphate sl BDH —_ 368.37 ~1.16 0.000050 g4 55
Aliphatic chlorinated hydrocarbons .
Chleroform 30 Merck 9 119.38 14812 0.815 93 ~0
Tetrachloro methane i1 Merck 9 153.82 1.5940 0.077 8.6 ~22
t,1,2,2-Tetrachloro ethane 2 Merck 98 167.85 1.5 0.287 9.7 10
Fluorinated hydrocarbons
FC-40 kL) M — ~650 ~1.87 — 59 94
FC-70 34 3M — ~820 ~1.94 -— 5.9 94

* From refs. 20 and 30.

* From experimental molar heat of vaporization.

¢ From Small's molar attraction constants (ref. 26),

¢ Estimated from the solubility parameters of other perflucro chemicals.
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E3 used for the epoxidation reactions, have been pub-
lished elsewhere."

iImmobilization Praceduras

The technique of immobilization in calcium alginate
and potassium K-carrageenan have been reperted
elsewhere." The shape and size of the gel beads were
examined microscopically.

Coll Activity Measurements

The experimental setup used for investigation of the
epoxidation reactions consisted of a batch reactor sys-
tem with gas circuit, a computer-controlled gas sampling
valve, an on-line gas chromatograph, and an integrator
coupled to a microcomputer. Full details of this ex-
perimental system and the quantitative application of
the headspace gas chromatography technique will be
published, 't

A small bubble column bioreactor (4.5 cm i.d.) was
used for contacting the biocatalyst beads and the liquid
phase(s) with the circulating gas. At the start of an
experiment this air stream contained 1.7% propene or
1-butene (v/v). The total volume of beads and liquid
phase(s) was always 250 cm® (~15 cm® gel beads, an
aqueous salt solation and, if applicable, 10 cm® organic
solvent). An aqueous (0.05M) solution of CaCl, was
used in case of cells immobilized in calcium alginate.
Potassium carrageenan beads were suspended in an
aqueous 19 (w/w) solution of KCl. The ionic strength
of these two salt solutions (0,15 and 0.13, respectively)
resembles that of a 0.9% (w/w) NaCl solution (phys-
iological salt solution, ionic strength 0.15). Experiments
with free cells were carried out in an aerated flask
containing 250 cm® (0.05M) CaCl, solution. A portion
(10 ¢cm® of this CaCl, solution was replaced by an
equal volume of organic solvent when the solvent in-
fluence on free-cell activity was to be examined.

Epoxide Partition

The distribution of propene oxide over a water phase
and a water-immiscible organic phase was examined,
Equal volumes (20 ¢cm®) of these phases were equili-
brated at 30°C in 40-cm® screw-cap bottles afier addition
of 10 mm® propene oxide. Epoxide concentrations in
the two liquid phases were then determined gas chro-
matographically by measuring peak heights.

The partition of propene oxide and 1-butene oxide
in air—solvent and air-water systems was also estab-
lished. The liquid phase (25 ¢m® water or solvent and
100 mm® propene oxide or 1-butene oxide} and an air
phase were brought in equilibrium at 30°C in 75-cm?®
screw-cap bottles. The headspace gas was then analyzed
using & gas chromatograph coupled to an integrator.
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RESULTS AND DISCUSSION

General

As pointed out in the introduction, several inter-
actions and phenemena, which may occur in and be-
tween the different elements of the multiphase system,
must be considered and, if necessary, verified exper-
imentally before a meaningful choice of these system
elements can be made. The retention of catalytic activity
as influenced by the technique of immobilization was
determined. Furthermore, the influence of the organic
solvent on catalytic activity and carrier stability was
established. Solubility data of the substrates and epox-
ides in organic solvents (relative to water) were sought
for in the literature or, if not available, were determined
experimentally. Solvent properties, like boiling point,
toxicity, and flammability, and economic aspects will
not be considered here.

More than 30 organic solvents were investigated to
test the suitability for application in the multiphase
system (Table I). The solvents are subdivided according
to a classification given by Riddick et al.® Initially,
each solvent class was represented by one or two
compounds. Additional solvents were selected using
the information gained from the experiments on the
activity retention of immobilized cells (see below).
Furthermore, the selection was partly based on ex-
perimental results concerning the toxicity of organic
extraction reagents to anaerobic bacteria.!

Entrapment of the cells in calcium alginate and po-
tassitm K-carrageenan, apart from being very workable,
appeared to be successful immobilization techniques
with respect to retention of catalytic activity. The
immobilized cells proved not to be inferior to the free
cells {(Fig. 1). The somewhat lower stability of the
suspended cells in this figure can be attributed to the
phenomenon of cells spurted out of the suspension by
the gas stream. The use of small gel particles (—-0.7
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Figure 1. Amount of unconverted propene versus time: (+) free
cells, (O) cells immobilized in calcium alginate, (+) cells immobilized
in potassium K-carvageenan.




mm) in combination with small cell load (~1 g dry
weight cells in 30 g alginate or K-carrageenan gel)
avoided diffusional processes to become rate limiting.
When the experiments with immobilized cells were
performed with larger particles and/or higher cell loads,
lower reaction rates were measured as a result of these
diffusion limitations. '

As the reaction proceeds, an increasing difference
is found between experimental epoxide concentrations
and calculated values from alkene consumption rates.'®
Hydrolysis of the produced propene oxide to 1,2-pro-
panediol cannot explain the difference. Literature
values® (2.3 x 107% s7') as well as experimentally
determined values (1.5 x 107%s7') of the first-order
reaction constant for hydrolysis at the experimental
conditions used (30°C, pH ~6} are an order of magnitude
too small to explain this discrepancy. Since it was
found that leakage can be excluded, the only resulting
possibility is enzymic activity. This confirms the pre-
viously found ability of the bacteria used to consume
the alkene oxides."” Immobilization in alginate or K-
carrageenan lowers the rate of this propene oxide con-
sumption (Fig. 2), indicating an additional advantage
of using immobilized cells.

The structure of the calcium alginate gel appeared
to be stable in all the solvents tested {for solvents,
see Table I), provided the organic solvents were sat-
urated with water. No visible deleterious effects like
disintegration, excessive attrition, dissolution, or
chemical reaction could be observed. The K-carra-
geenan gel also did not seem to be affected by solvents
like dibutyl phthalate and diisopenty] ether. These ob-
servations directly seem to correlate with the low to
very low solubility of water-immiscible solvents in
hydrophilic gels. Immobilization in calcium alginate
was used for further work, because the shapes of the
alginate particles appeared more spherical than those
of K-carrageenan particles.

Influence of the Organic Sclvent on the Retention
of Activity

Free Cells

From various preparatory experimenis concerning
the oxygen, ethene, and propene consumption rates
of free cells in a solvent-containing system (mostly
phosphate buffer saturated with the solvent), it became
clear that the number of usable solvents is very limited
indeed."”” Many solvents caused almost instant inac-
tivation of the suspended cells. Examples of these are
chloroform, toluene, 1-butanol, butyl acetate, tetrach-
loro ethane, and hexanoic acid.

Furthermore, it became evident that the presence
or absence of a separate organic liquid phase could
be a decisive factor in the measurements with free
cells. Many undefined physical phenomena and often
rapid loss of catalytic activity occurred when a water-
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Figure 2.  Amount of produced propene oxide versus time: (+) free
cells, {O) cells immabilized in calcium alginate, (+) cells immobilized
in potassium K-carrageenan.

immiscible solvent was added to an aqueous cell sus-
pension in such quantity that a separate liquid phase
formed. The very high surface tension between the
two liquid phases and the large difference in diclectric
constants may well explain some of these phenomena.’
Aggregation of cells at the water-organic interface ap-
peared sometimes to be the reason for loss of activity
(e.g., butyl acetate). The introduction of the solvent
can have a positive or a negative overall effect on the
propene consumption rate of free cells (Fig. 3). When
no organic solvent was added, an increasing part of
the biomass was spurted out of the suspension by gas
bubbles breaking up at the surface. The presence of
a dibutyl phthalate phase largely prevented this kind
of biomass loss, resulting in an apparent increase of
catalytic activity. However, after about 10 h in sus-
pension the formation of biomass clots appeared in
the water-dibuty] phthalate mixture. In case of diiso-
pentyl ether, spurting out and clotting of cells was not
observed. The epoxidation rate was nevertheless re-

(m1)

PROPENE

TIME  ¢hr)

Figare 3. Amount of unconverted propene versus time {free cells,
10 mL organic liquid phase present); (O) blank measurement, (x)
dibutyl phthalate, (*) diisopenty] ether.
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duced (Fig. 3), but after a few hours of reaction, the
consumption rate inexplicably increased.

In general, one could say that the introduction of
an organic solvent in a free-celt suspension gives rise
to a series of physical, microbial, and/or biochemical
effects on the catalytic activity. The resulting, often
undesirable and inexplicable effects can hamper greaily
the development, scaling up, and control of the bio-
technological process. Immobilization may prove useful
as a way to overcome these problems.

Immobilized Cells

The choice of the organic solvent also appeared
critical when cells were immobilized in calcium alginate
gel."" 7 A first selection of the solvents under inves-
tigation (Tabte I) was made by measuring the retention
of immobilized-cell activity in the presence of a separate
organic liquid phase (Table I). Quantification of the
retention of activity took place by reiating the amount
of propene consumed by the immobilized cells after
3 h reaction to the corresponding amount of a blank
measurement {no organic phase present). The given
percentages in Table I must only be seen as a rough
guide for the influence of a specific organic solvent.
Solvent impurities and activity loss during storage of
biomass (necessary in view of the duration of the
experiments and the method of measurement) could
sometimes give rise to experimental errors. Despite
the entrapment of the cells in the alginate gel, many
organic solvents caused rapid loss of activity. Solvents
like n-hexane, diisopropyl ether, methyl octyl ketone,
diallyl phthalate, and tritolyl phosphate resulted in a
low activity retention (Table I). Little loss of activity
was only measured when the fotlowing solvents were
present: n-hexadecane, diisopentyl ether, diphenyl
ether, di-n-alkyl phthalates (except the dimethyl ester),
and finally two perfluoro chemicals (FC-40, FC-70).
Entrapment did, however, prevent the occurrence of
above-discussed phenomena like aggregation, clotting,
and spurting out of biomass.

The very divergent effects established for the various
solvents (Fig. 4} underlines the importance of a careful
choice of the solvent. However, it would be very time
consuming and expensive to test the large number of
solvents that could, in theory, be used in the multiphase
system. In this context it would be very desirable to
relate the measured activity retentions of the immo-
bilized biocatalyst to readily available solvent prop-
erties, The resulting (semiempirical) rules could then
be applied to exciude many solvents in advance.

The solvent polarity has already been mentioned in
a qualitative manner to explain the inactivation of
enzymes or cells under the influence of an organic
solvent.*'® In this work the solubility parameter was
taken as a semiquantitative measure for the paolar char-
acter of the organic solvent, Other means of quanti-
fication, like dielectric constant, dipole moment, and
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Figure 4.  Amount of unconverted propene versus time (cells im-
mobilized in calciuin alginate, 10 mL organic liquid phase present);
(O) blank measurement, () diisopentyl ether, (x) n-hexane, (+)
butyl acetate.

polarizability, were not used, as the data availability
of these quantities is rather limited. The solubility
parameter, denoted by the symbot 8, is the Hildebrand
expression for the square root of the cohesive energy
density™* [in (cal/em®®] and is suited for describing
intermolecufar forces and solubility:

5= —_E 0.5 ~ AH, ~ RT)"" _ (p(AH, _ RT))O'S
- v - v M

A higher value of § normally corresponds with a higher
polarity of the solvent. Solubility parameter vatues of
the soivents under investigation are listed in Table I.
Parameter values not given directly in the literature®-
could be calculated from experimental values of the
molar heat of vaporization AH, (see equation above)
or by using Small’s molar attraction constants.” Only
a weak, negative correlation was established between
the measured activity retentions of immobilized cells
and the solubility parameters of the corresponding
solvents (both in Table I). Thus, a low polarity (low
8) tends to give a high retention of biocatalytic activity,
but not pronouncedly.

Another solvent characteristic that might be important
with respect to the measured immobilized-cell activities
is dimension of the solvent molecule. Larger molecules
could be more susceptible to (steric) hindrances on
their way from the organic bulk phase to the catalyzing
enzymes in the immobilized cells. Such obstruction
could arise from the low solvent solubility in water
and from the transport of solvent through the aqueous
matrix structure of the (alginate) gel and through the
{outer) cell membranes. A rough measure for these
hindrances may be given by the solubility in water,
molecular weight M, or the molar volume (v = M/p)
af the organic solvent (Table 1). McAuliffe” found
that for certain homologous series of hydrocarbons
the logarithm of the solubility in water is a linear
function of the hydrocarbon molar volume. Not sur-
prisingly, however, no clear relation could be dem-




onstrated between the molar volumes (or molecular
weights) and solubilities in water of the very different
solvents investigated in this work. These two quantities
can therefore nol be treated as one and the same
parameter.

Very weak, positive (+) or negative (—} comrelations
exist between on the one hand activity retention and
on the other solubility in water (- ), molecular weight
(+), or molar velume (+). However, a more significant
relation emerges when the retention of cell acitivity
was considered as a function of both the solubility
parameter {polarity} and the molecular weight (Fig.
5). Each box in this figure corresponds to one of the
solvents in Table 1. Many of the low activities can bhe
found in an area of high polarity (8 > ~8) and small
molecular weight (M < ~200). The higher retentions
of activity are found outside this area, which appears
especially to be true for the two perfluoto chemicals
(both 94%) and the two largest di-n-alkyl phthalates
(101 and 108%). The [latter compounds have ail in
common a low polarity in combination with a high
molecular weight.

The picture of Figure 5 does not change significantly
when the molecular weight is replaced by the molar
volume of the solvent, Furthermore, it must be noted
that both parameters of Figure 5 are required for a
satisfactory explanation of the differences in activity.
Though melecular weight (molar volume) and § may
be related to each other in case of one specific, ho-
mologous series of organic solvents, it can be deduced
from Figures 5 and 6 that no simple relation exists
between M and & when different solvents classes are
considered.

When the logarithm of the solubility in water is
plotted versus the solubility parameter, an arca of
inactivation may also be distinguished (high polarity
and high solvent solubility in water). The use of the
solubility in water is, however, less attractive than

MOLECULAR WEIGHT

W
ak 3

SOLUBILITY PARAMETER <{cal/cm3>tS
Figure 5. Measured activity retentions (%, large figures) of im-
mobilized cells exposed to arganic salvents as function of molecular
weight and solubility parameter of solvents. Eack box and number
(small figure) corresponds te one of the solvents in Table 1; line:
di-n-alkyl phthalates.
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Figure 6. The distribution of commonly used organic sclvents in
a molecular weight versus solubility parameter plot; {€) perfluore
n-heptane and perfluere cyclohexane, { %) dialkyl phibalates.

molecular weight or molar volume in view of lacking
experimental solubility data.

The effects of molecular size and polarity can be
illustrated by considering the homologowns series of
the di-n-alky] phthalates (see also Fig. 5). As mentioned
above, inactivation did not occur when the dioctyl
and didecy] esters (large molecules, nonpoiar} were
used as the organic phase. Some loss of activity was
measured when comparing the propene consumption
in the presence of a dibutyl phthalate or a diethyl
phthalate phase (smaller alkyl chains, moderately polar)
with the blank experiments {76 and 74%, respectively,
see Table I). Hardly any activity was found when
dimethyl phthalate (relatively small molecule, polar}
was present in the multiphase system.

Similar phenomena can be distinguished in Table 1.
The higher activity in case of n-hexadecane and tritolyl
phosphate, in comparison to x-hexane and tributyl
phosphate, respectively, could be a molecular size
effect. Larger size and a lower polarity may explain
the higher activity in case of diisopentyl ether, diphenyl
ether, and methyl octyl ketone in comparison to di-
isopropyl ether, methyl phenyl ether and methyl isobutyl
ketone, respectively.

The situation of about 150 commonly used organic
solvents” in a plot of M versus & (Fig. 6) affirms the
experimentally established observation that many sol-
vents cause sfrong inactivation of the immobilized cells.
More than two-thirds of the total number of solvents
in Figure 6 can be found in the above-mentioned area
of inactivation (§ > ~8 and M < ~200), Also, it can
clearly be seen in this figure that the dialkyl phthalates
and perfluorg chemicals, which cause almost no in-
activation (Table ), are relatively exceptional organic
solvents. Organic compounds with still higher values
for M and § (top right in Fig. 6) are very likely solid
at 30°C and are therefore not suited for our purposes.

To test the applicability of the above-described re-
lations between solvent polarity, molecular size, and
immobilized-cell activity, the experimental results of
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Table It,  Molecular weights, solubility parameters, and free-cell activity retentions

of the organic solvents of Playne et al.*

Molecular Solubility Activity
Solvent weight parameter retention

Solvent number (g/mol) [(cal /em?)*%] %)
n-Hexane 1 86.18 73 62
Lsaoctane 15 114.22 6.9" n
n-Decane 36 142.28 8.0 84
Freon 113 37 187.39 7.3 100
{sopentyl alcohol 3R 88.15 10.5% 3
1-Hexanol 7 102,18 190.7 1
1-Octanol 39 130.22 92.3" 8
2-Ethyl hexanol 40 130.22 9.5 27
1-Dodecanol 41 186.33 8.1 70
Isopentyl acetate 42 130.18 8.1° 14
Tri-n-buty! phosphate 28 266.32 8.6° 100
Tri-2-toly]l phosphate 29 368.37 8.4 109
Dibutyl phthatate 23 278.33 9.3 38
Diisopentyl phthalate 43 306.39 9.1° 85
Diethy] ketone 44 86.13 10.0* 1
Methyl isobuty] ketone 13 100.16 9.4 3
Dipropy] ketone 45 114.18 9.6" 1
Methyl hexyl ketone 46 128,21 8.4° 0
Diisopropyl ether 8 102.18 71" 9
Diisopentyl ether 9 158.29 7.2¢ 62
Benzene 47 78.11 922 0
Toluene 3 92.15 89 3
o-Xylene 48 106.16 8.8° [}
Nitrobenzene 49 123.11 10,0 ]

* From ref. 21.

® From experimental molar heat of vaporization.

¢ From Small’s molar attraction constants (ref. 26).

d

Playne et al.>' were used. The influence of 24 organic
solvents (test concentrations 25 mm®*/cm*) on the rel-
ative gas production of suspended anaerobic cells was
correlated with solvent polarity and size in the same
manner as above (Table 1l and Fig. 7). Again, low
cell activities occurred in an arca of high polarity
(& > ~—8) and low molecular weights (M < ~200}.
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Figure 7.  Activity retentions (%, large figures) of free cells exposed

ta organic solvents® as a function of molecular weight and solubility
parameter of the solvents. Each hox and number {small figure)
corresponds to one of the selvents in Table I
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Estimated from the solubility parameter of di-z-pentyl phthalate.

A conclusion that could be drawn from comparing
Figures 5 and 7 is the similar response of free (Fig.
7) and immobilized (Fig. 5) cells to the presence of
an organic solvent. Likewise, many similarities exist
between free and immobilized propene-consuming cells,
both used in this work, with respect to the toxicity
of organic solvents (see Table I and the section on
free cells). From these observations it could be deduced
that immeobilization in calcium alginate provides no
additional cell protection against organic solvents.

The results of Duarte et al.” can also be used to
test the significance of solvent polarity and molecular
size to cell activity retention (Table III and Fig. 8).
Notwithstanding the small differences between the
measured activitics and the limited number of solvents
tested, the lower activities seem again more likely
with solvents situated in the lower right section of
Figure 8.

Solubility of Gaseous Substrates and Epoxide
Extraction Capacity

The Hildebrand solubility parameter not only proved
useful for predicting the solvent effect on cell activity
but may also be applied to describe the solubilities of
oxygen and epoxides in various organic solvents.
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Figore 8. Comparative rates (tetrachloro methane = 1.0; large
figures) of free cells exposed to organic solvents’ as a function of
molecular weight and solubility parameter of the solvents. Each
box and number (small figure) corresponds to one of the solvents
in Table III.

Gaseous Substrates

A significant change of the gas solubility in a hy-
drophilic carrier gel {like calcium alginate) under the
influence of a water-immiscible organic solvent secems
unlikely. Thus, the solubility of the gaseous substrates
in the aqueous gel remains essentially that in water,
and the solubility in the organic solvent itself may not
be of dominant importance. In certain applications,
however, the gas solubility in the solvent might play
a decisive role. When gas-liquid transfer is a limiting
factor in the substrate transport from the gas phase
to the biocatalyst phase, a higher substrate solubility
in the solvent will increase the reaction rate. A high
solvent capacity for the gaseous substrates can also
be advantageous when a bioreactor packed with bio-
catalyst beads is continuously fed with an organic
solvent for supply of dissolved substrates {(and removal
of products).

As shown by Hildebrand et al.”, a good correlation

exists between the oxygen solubility in various organic
solvents (expressed in mole fractions) and the solubility
parameters of these solvents. High solubilities of oxygen
are found in solvents with a low polarity (low 8), and
vice versa. Extreme examples of this are perfluoro n-
heptane (8 5.9) and water (§ ~23), in which the oxygen
solubilities, expressed in mole fractions, are 55.1 x
1072 and 0.21 x 107*, respectively. A similar, though
somewhat weaker, correlation was found when the
oxygen solubilities® were expressed in mmol oxygen/L
solvent (Fig. 9}. From the foregoing it can be deduced
that activity retention under the influence of an organic
solvent and a high oxygen solubility in the solvent are
not contradictory, as they are both favored by a low
solvent polarity. Perfluore chemicals provide a very
good illustration of this finding.

Values of the propene solubility in solvents were
obtained by extrapolating from partial pressure/mole
fraction data.” The thus calculated solubilities (ex-
pressed in millimolars did not seem to correlate with
the solubility parameter. The capacity of the solvents
for propene is, however, always about two orders of
magnitude higher than that of water.

Epoxides

The partition of propene oxide between equal volumes
of organic solvent and water was measured (Table 1V).
The standard deviations in these experimental values
is rather high (5-10%) due to the interfering influences
of water, solvent, and impurities on the gas chro-
matography analysis,

The percentage of the total amount of epoxide ex-
tracted into the solvent correlated with the polarity
of the extractant as ¢xpressed by the solubility pa-
rameter (Fig. 10), High propene oxide (5 9.2) extraction
capacities, much better than that of water (50%), were
found only at rather high solvent polarities (~9 < &
< ~10). However, a too high polarity (5 > ~10) also

Table 1. Molecular weights, solubility parameters, and free-cell comparative rates (tetrachloro

methane = 1.0} of the organic solvents used by Duarte et al.*
Molecular Solebility Comparative

Solvent weight parameter rate
Solvent number (g/mol) [{cal/cm®)™?] (-)
Dichlore methane 50 84.93 9.7 0.65
Chloroform 30 119,38 .3 0.39
Tetrachloro methane 3 153.82 8.6 1.0
1,2-Dichlore cthane 51 98.96 9.6" 1.1
{,1,1-Trichlore ethane 52 133,41 8.5 13
Diethyl ether 53 74.12 7.4 0.72
Diisopropyl ether 8 102.18 P 14
Di-n-butyl ether 54 130,23 7.7 1.2
Di-n-pentyl ether 55 158.29 7.7 1.1
Butyl ethenyl ether 56 100.16 .7 1.7

* From ref. 7.

® From experimental molar heat of vaporization.
¢ From Small’s molar altraction constants (ref. 26).
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Figure 9.  Capacities for oxygen of organic solvents (water; 1.2mM)

as a function of solubllity parameter (1 = n-hexane, 2 = n-hex-
adecane, 3 = toluene, 30 = chloroferm, 31 = tetrachloromethane,
35 = isooctane, 47 = benzene, 49 = nitrobenzene, 53 = diethyl
ether, 57 = n-beptane, 58 = n-octane, 59 = z-nonane, 60 =
cyciohexane, 61 = methyl cyclohexane, 62 = m-xylene, 63 =
perflluoro-n-heptane, 64 = perfluorobenzene, 65 = perfluoro tri-n-
butyl amine, 66 = fluorobenzene, 67 = chlorobenzene, 68 = bro-
mobenzene, 69 = iodobenzene, 70 = 2-methyl 1-propanol, 71 =
acetone).

scems unfavorable for epoxide extraction. The high
extraction capacity of 1,1,2,2-tetrachloroethane (98%)
may be a result of strong hydrogen bonding between
molecules of this solvent and propene oxide.
Another measure for the extraction capacity was
obtained by determining the partition of propene oxide
and {-butene oxide between a gas phase (air) and a
solvent phase (Table V). The choice of the solvents
used in these experiments was partly based on the
cell activity measurements (Table I). An error of about

100¢ -
- e
g 80f :
E g
> E
E ]
= eof ég =
3 3
= B
E P
o Pl
=z -
(=] E
= E
G 20F
-« E
o E
b 3
o STPTTTTFITRTITIVN TEOTYIVPT INTTPIIVE FPTTTTTT (YRTTOTOTe FRTYITY
ﬂl_l
SOLUBILITY PARAMETER (cal/cm®3®S

Figure 10. Extraction capacities for propene oxide of organic sol-
venis (water 50%) as a function of the solubility parameter. Each
box and number (small figure) corresponds to one of the solvents
in Table IV.

5% in the values of Table V was estimated from du-
plicate measurements.

The percent propene oxide that was found present
in the gas phase also refated to the solubility parameter.
Again, only solvents with a high polarity (~8.5 < §
< ~10) possess a capacity for propene oxide (§ 9.2)
significantly higher than that of water (Table V). The
capacity of the organic solvents for the more nonpolar
I-butene oxide is not a clear function of 8 but is mostly
an order of magnitude higher than the capacity of
water for this epoxide. The extreme nonpolar perfluoro
chemicals (FC-40, FC-70) showed a remarkable low
capacity for the relatively polar propene oxide and
also, to a somewhat lesser extent, for 1-butene oxide.

From the water—solvent, as well as from the gas-
solvent, measurements it can be concluded that a suc-

Table TV. Extraction capacity for propene oxide of various solveats in the
water-solvent equilibrium experiments.
Solubility Extraction

Solvent parameter capacity
Solvent number [(cad/em’)®*] %)
Water — ~23 500
n-Hexane 1 7.3 48
n-Hexadecane 2 8.0 61
Cyclohexane 60 8.2 67
Toluene 3 8.9 78
Ethylbenzene 4 8.8 70
1-Hexanol 7 10.7 63
Diisopropyl ether 8 7.1¢ 55
Hexanal 12 9.2 75
Methyl pentyl ketone T2 8.6 70
Buty] acetate 15 g5 82
Tetrachloro methane 31 8.6 73
1,1,2-Trichlore ethane 73 9.6 88
1,1,2,2-Tetrachloro ethane 12 9.7 98
Pentachloro ethane 74 9.4 87
Nitrobenzene 49 10.0 66

* Theoretical,

® From experimental molar heat of vaporization.
“ From Small’s molar attraction constants (ref. 26},
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Table V, Percent of epoxide amount not dissolved in the gas—soivent equilibrium experiments.

Epoxide ot dissolved

Solubility Propene 1-Butene

Solvent parameter oxide oxide
Solvent number [Ccal/em™™] (%) (%)
Water — ~23 1.81 2.28
a-Hexane 1 2.3 1.38 -
Toluene 3 89 0.80 0.19
Diisopentyl ether 9 7.2* 1.48 0.4t
Dimethyl phthalate 2] 10.7 2.82 0.42
Diethyl phthalate 2 1.0 1.06 0.40
Dibutyl phthalate 23 923 1.31 0.45
Dioctyl phthalate 24 7.9 1.73 0.62
Tetrachloro methane 31 8.6 0.84 0.13
1,1,2,2-Tetrachloro ¢thane 32 9.7 0.13 0.03%
FC40 33 59° 1.7 5.80
FC-70 M 5.9 12.0 —

* From experimental molar heat of vaporization.
* Estimated from the solubility parameters of other perfluoro chemicals.

cessful propene oxide extraction from the aqueous
(gel) phase may require a high polarity of the extractant
(e.g., tetrachloro ethane). This can contradict the pre-
viously found findings concerning oxygen solubility
and especially activity retention. Thus, an optimum
in the solvent polarity may be likely. In case of the
less polar 1-butene oxide, a nonpolar extractant (e.g,
dioctyl phthalate) can still have a high capacity for
this epoxide as compared to the capacily of water.
Cell denaturation could then be the decisive factor in
the choice of the extractant. However, extreme non-
polarity (e.g., perflucro chemicals) can still cause un-
acceptably low extraction rates.

CONCLUSIONS

The suitability of a water-immiscible organic solvent
for use in multiphase biocatalysis can be predicted by
evaluating the polarity (as expressed by the Hildebrand
solubility parameter) and the molecular size (as ex-
pressed by the molecular weight or molar volume} of
the organic solvent. The combination of a low polarity
and a high molecular weight often leads to a high
activity retention of the free or immobilized cells. Fur-
thermore, the solubility parameter is helpful to assess
the capacity of the organic solvent for the (co-) sub-
strates and products involved in the bioconversion.
In case of the microbial epoxidation of propene an
organic solvent with a high molecular weight and a
medium solubility parameter should be used (e.g., di-
buty] phthalate). A too low polarity, though favorable
for a high activity retention and a high solvent capacity
for oxygen, can give an unacceptable low propene
oxide extraction rate (e.g., perfluoro chemicals).

The authers wish to thank Professor Ir. K. Ch. A. M. Luyben
and Pr. Ir. K. Van't Riet for helpful di ions. These investigation:
were supported (it part) by the Netherlands Foundation for Technical
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NOMENCLATURE
E molar cohesive energy (J/mol)
M molecular weight (g/mol)
R gas constant (J/mel K)
T temperature (K)
v molar volume (cm’/mot}
AH,  molar heat of vaporization (J/mol}
& Hildebrand solubility parameter [(J/cm®)"™]
P specific gravity (g/cm”)
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4. MODELLING THE EFFECTS OF MASS
TRANSFER ON KINETICS OF PROPENE
EPOXIDATION OF IMMOBILIZED
MYCOBACTERIUM CELLS:
PSEUDO-ONE-SUBSTRATE CONDITIONS AND
NEGLIGIBLE PRODUCT INHIBITION

L.E.S. Brink and J, Tramper

Department of Food Science, Food and Bioengineering Group, Agricultural Unlversity
Wageningen, De Dreyen 12, 6703 BC Wageningen, The Netheriands

(Received 9 September 1985; revised 12 December 1985)

Experimental verification of the internal pore and external film diffusion model is presented using the
oxidation of propene to propene oxide by calcium alginate-entrapped Mycobacterium cells as a model
system. Assuming pseudo-one-substrate Michaelis—Menten kinetics and negligible product inhibition,
theoretical consumption rates for oxygen and propene of the immobilized cells were compared to
experimental values obrained in a circulztion batch reactor system. The diameter of the spherical gel
particles, immobilized cell density end the intrinsic kinetic parameters were measured independently.
Internal pore diffusion of the limiting substrate was found the main mass-transfer resistance. A good
agreement was observed berween predicted and experimental epoxidation rates,

Keywords: Immobilized cells; mass transfer modelling; alginate; propene epoxidation

Introduction

The theoretical analysis of the external and internal mass-
transfer resistances, often encountered in microbial aggre-
gates, mould pellets and immobilized biocatalysts, has made
considerable advances.”™™ In a recent review Kasche®
pointed out that, in contrast to the numerous theoretical
studies, the number of investigations with correlations
between model predictions and experimental data is only
limited. Therefore, instead of developing new, purely
mathematical diffusion models, existing models should be
verified experimentally. A similar conclusion has been
stated by Radovich™ and Karel er o™ for immobilized,
whole-cell systems.

The Thiele effectiveness factor concept™” is mostly used
for describing the coupled diffusion and reaction in immo-
bilized biocatalysts. Accordingly, comparisons between
experimental and predicted data are often presented as
graphs of external (n,),internal (n;) or overall effectiveness
factor (n) ploited as a function of a Thiele-type modulus
(¢) or, alternatively, as a function of particle size, cell
density or bulk substrate concentration. Marsh er al'®
and Rovito and Kittrell'' used Thiele analyses in combina-
tion with zero and first-order reaction ldnetics, respectively,
of immobilized enzymes on porous glass to correlate
favourably a limited number of experimental 7 values with
caleulated values, A similar approach was followed by
Bunting and Laidler* for first-order asymptotic approxi-

mation of Michaelis—Menten kinetics of a f-galactosidase
enzyme entrapped in polyacrylamide discs. The eight
measured points agreed very well with theoretical values
for m. The partition and diffusion coefficients used were
determined independently. Interparticle and intraparticle
mass-transfer  effects on substrate-inhibited Michaelis—
Menten kinetics of immobilized invertase were examined
by Kobayashi and Moo-Young.'® Experimentally obtained
internal 7 values (some even exceeded unity) compared
favourably with calculated values. Korus and O’Driscoll*
investigaged the influence of internal diffusion on
Michaelis—-Menten kinetics of several gelentrapped en-
zymes. Both the experimental data and the shape of
theoretical curves of n plotted versus particle size showed
the same trend. The quantitative disagreement that existed
they attributed to uncertainties in the assumptions concern-
ing the partition coefficient and the intrinsic kinetic
constants, and to the use of an arithmetical mean for the
particle size, Pore diffusion and two-substrate reaction in
porous glass particles were studied by Dahodwala et al'’
The effective diffusion coefficients of the two substrates,
oxygen and galactose, were approximated by the diffusion
coefficients in water and immobilization was assumed not
to influence the intrinsic kinetic properties of the galactose
oxidase enzyme. Despite these and other simplifications,
theoretical 1) values were in rather good agreement with expe-
rimental vzlues. Kasche et al. 1617 used operational effective-
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ness factors to estimate the time required to obtain 90%
substrate conversion in immobilized chymotrypsin and
uypsin enzyme reactors. From a large number of compa-
risons berween calculated and experimental n values it was
concluded that the applied procedure for solving the pore
diffusion equation, the collocation method, can be used for
predicting the performance of immobilized enzyme reactors.
Boersma et al.'® fimed the pore diffusion model to
experimental n values of an immaobilized Arthrobacter cell
preparation in a plot of % as a function of a generalized
Thiele modulus. A good fit was obtained when the effective
diffusion coefficient of glucose in the support materal (a
mixture of two polyelectrolytes) was given a value about
one seventh of the molecular diffusion coefficient of
glucose in water. In another study the effective diffusion
coefficient for oxygen in barium alginate gel was estimated
from comparing experimental and calculated values in a
graph of n versus cell density of immobilized Hansenula
polymorpha,"® The diffusion rate in the gel was found to
be 25% of that in water (the latter estimated at 2.6 X 10~°
m? s'), Excellent agreement was reached between experi-
mental and predicted data in a plot of nf¢ by Klein and
Vorlop®® for immabilized Escherichia coli cells in epoxy
resin beads. An independently determined, effective pore
diffusion coefficient was used in making these predictions.
They also provided some experimental verifications of the
pore diffusion model in graphs of n/particle size and n/cell
density for the oxidation of glucose to gluconic acid by
calcium alginate-entrapped Acetobacter simplex cells. In
other studies of Klein and coworkers a large number of
experimental 1 values for the degradation of phencl by
Candida tropicalis cells entrapped in several polymeric
ionic networks were all found to be considerably smaller
than the corresponding calculated values.**? These dev-
iations were ascribed to inaccuracies in the several, simplify-
ing assumptions made, such as zero-order reaction kinetics
and the estimation of the effective diffusion coefficient
from the polymer concentration and the diffusivity in
water. ! Betier results were, however, obtained when
external mass transfer, partitioning and Michaelis—Menten
kinetics were mcluded in the modelling of the diffusional
resistances.”® In a recent study Jain and Ghose® investigated
the productinhibited cellobiose hydrolysis by calcium
alginate-entrapped Pichiz etchellsii cells. The four experi-
mental % values were shown to coincide with the theoretical
curve representing 1 as a function of particle size.

From the divergent work discussed above, it can be
concluded that some experimental proof of the relatively
simple pore diffusion model (sometimes in combination
with exiernal mass-transfer relations) does exist. The avail-
ahility of accurate estimations for the effective diffusion
constant and for the intrinsic kinetics of the immobilized
biocatalyst seems to play a dominant role in the reliable
prediction of diffusion resistances.

In this study additional, experimental verification of the
pore diffusion model with Michaelis—Menten kinetics is
presented. The oxidation of propene to propene oxide by
non-growing Mycobacterium cells entrapped in calcium
alginate is used-as the model reaction. This system is suited
for fundamental studies because of the relatively simple
molecules involved in the epoxidation {propene, oxygen,
propene oxide), This facilitates quantitative gas analysis®*
and the prediction of thermodynamic properties and
diffusion coefficients, Furthermore, the wortk is part of our
efforts to produce propene oxide sterecspecifically in an
organic liquid phasefimmobilized cell system,**™* After
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optimizing the two main elements of this multiphase
system, technique of immobilization and type of organic
solvent,?*® gattention is at present focused on the cheice
and design of a suitable ‘multiphase bioreactor. However,
independent of the type of immobilized cell reactor, know-
ledge of the performance of the immobilized biocatalyst
preparation as a function of particle size, microbial activity,
cell density and substrate concentration levels, will be
indispensable. In this and the following paper the mass-
transfer effecis on propene epoxidation kinetics of calcium
alginate-cntrapped cells are quantified. In this paper the
modelling of the diffusion resistances is given using two
simplifying assumptions: pseudo-onesubstrate rteaction
kinetics and negligible product inhibition. Under these
conditions the influence of particle size, cell density and
substrate levels on the epoxidation rates of the pel-
entrapped cells was established in a quantitative manner.
The observed rates are correlated with theoretical values,
obtained by approximate solutions (e.g. the collocation
method) to the problem of coupled reaction and pore
diffusion in permeable biocatalysis in series with extemnal
gas—liquid and liquid—solid film diffusion. This one-
substrate potediffusion model is found to give accurate
predictions of the mass-transfer effects of propene as well
a3 of oxygen on the kinetic behaviour of the immobilized
cells. A second paper™ deals with the more complex case of
product-inhibited epoxidation kinetics,

Materials and methods

Chemicals and microorganism

The support material, sodium alginate (Manucol DM),
was obfained from Alginate Industries, London, UK. The
description of the Mycobacterium strain E3 used for the
epoxidation reaction is given elsewhere.?

Immobilization

The procedure of munoblllmtlon in calcium alginate
has been described earlier.?® The mean diameter of the
spherical pel particles was determined by microscopic
measurement of about 40 bead diameters.

Measurement of epoxidation Kinetics and mass-
transfer effects

The propene and oxygen consumption rates of the
calcium alginate-entrapped cells were measured in a
laboratory-scale batch reactor system with gas circuit, The
details of this experimental setup have been reported
previously.?*-* The gel particles were suspended by the
circulating gas in 2 bubble<olumn bioreactor (4.5 cmi.d.),
containing an aquecus 0.05 M calcium chloride solution
(total volume of beads and liquid, 250 ¢cm®), The total
amount of biocatalyst used in ofte experiment was always
about 1 g dry weight of cells. The time course of the
reaction in the immaobilized cell phase was followed by on-
line gas chromatographic analysis of the two gaseous
substrates and the volatile propene oxide in the circulating
gas stream, The liquid concentrations of the substrates, in
equilibrium with the gas phase, could then be calculated
using Henry’s law.2® Automatic operation of a gas-sampling
valve in conjunction with a g.c. column-switching valve was
enabled by coupling the ondine gas chromatograph to an
integrator and 2 microcomputer. This also made it possible
to perform data acquisition and reduction and, furthermore,
to control the gas concentration of propene or oxygen in
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the experimental system at a high, constant level by
computer<ontrolled opening of a mass-flow controller, The
latter permitted the measurement of kinetic and mass-
transfer rates of one of the two substrates under psendo-
onc-substrate conditions (excess liquid concentrations of
propene and oxygen: 160 and 240 um , respectively),

Theoretical

Various transport phenomena in the multiphase system
(SL, L, G) may limit the kinetic epoxidation rate of the gei-
entrapped cells.* Mass-transfer resistances with respect to
the transport of the two substrates and the produced
propene oxide could occur in a gas film, in aqueous and/or
organic liquid films at the gas—liquid and the ]jc%id—solid
interfaces and, finally, in the solid gel phase.™ In the
absence of a water-immiscible organic solvent three resis-
tances are likely to prevail: extemal diffusion limitations
in the water film adjacent to the gas—liquid interface and in
an aqueous film surrounding the hydrophilic get particle
and, lastly, internal diffusion limitation in the porous gel.
These limitations are often expressed in terms of external
and internal effectiveness factors, 5, and x;, which, in the
case of a onesubstrate Michaelis—Menten reaction with
intrinsic kinetic constants ¥, and K, can be represented
by the following equations:

- () (%)
)

with vg the overall substrate consumption rate, Sg and §*
the substrate concentrations at the gel surface and at the
gas—liquid interface, respectively. Hence, the overall
effectiveness of the biocatalyst particle is:

¥ Vi S*
T= Ml = ”R/(fm_m;‘"gﬁ) G

It is assumed in these equations that no partitioning occcurs
between the uncharged substrates in the aqueous phase and
the gel phase,

The effectiveness factors can be derived from the solution
of Ficl’s second law, descrbing the coupled onesubstrate
pore diffusion and reaction in a porous medium, Assurming
pseudo steady-state, isothermal conditions, homogenecus
cell density X, concentration-independent effective diffusion
coefficient D, spherical geometry with diameter dp and
Michaclis—Menten kinetics, this well known differential
equation can be written as:!

2
De (%FS f%s =1?,',,V+f5' @
with the boundary conditions:
D, dS/dr = B(S* — Sgrat r = 05dp {5)
dSfdr = 0 atr =20 ©)
and the overall external mass-transfer coefficient g:>!
g = {ﬂs [1/{kya) + jf(ksas)]}_l N

where r is the radial distance from the centre of the particle;
ki and kg are the mass-transfer coefficients in the stagnant
liquid films adjacent to the gas—liquid and liquid—sclid
interfaces, respectively; ¢ and ag are the gas—liquid
and liquid—solid specific surface areas, respectively;

@y = 6 Xy/(dp X) for spherical particles, with Xy, the
reactor-volume-based cell density.

As equalion (4) cannot be solved analytically, several,
sometimes complex integration methods have been applied
to derive the substrate concentration profile in the bead
and from this the internal and external stationary effective-
ness factors.® In this work the three-point collocation
method'®* jg applied to obtain approximate solutions
to the diffusion equation. This method can be used to
calculate the overall effectiveness factor, n, of the bio-
catalyst bead and the substrate concentration at the gel
surface, Sg, if values for Vi, , Ky, X, dp, D, 8 and 5% are
available. The overall consumption rate, ¥y, and m; and 7,
can then easily be calculated using equations {1) to (3).

Results and discussion

Evaluation of model parameters

Intrinsic kinetics. Under pseudo-one-substrate conditions
the consumption rates for propene (S, ) and oxygen (5, ) of
the calcium alginate-entrapaged cells were found to obey
Michaelis—Menten kinetics:

_ LAY - Vm a5 (3)
dt Kp, + 5

S8 Vma o)
dr Kpz T 52

The intrinsic kinetic parameters in these two equations
were determined by fitting the integrated forms of equation
(8) and {9) to experimental time-course data [5;(¢) and
8,(¢), respectively] utilizing a pon-linear regression tech-
nique. The use of small particle diameters (dp = 0.7 mm)in
combination with low biocatalytic activity [X Vg, = 5 X
10* ymol min™' (m® particle)™] avocided diffusional
masking of the resulting parameters.® The (pseudo)-
equilibrivm constants, Ky, ; and Ky, 2, were assigned average
values (5 +3 and 15 +5 pm, respectively) using 12 time-
course experiments. The relatively high variation in these
values does not lead to inaccurate model predictions, in
view of the small effect of the two parameters on the
predicted consumption rates. This is not the case for the
maximum rate parameters, ¥p, ; and Vi 5. As considerable
variations were found between cbtained maximum rates of
the “various cell batches used, specific estimates for these
parameters are necessary for each cell batch.

Particle diameter. Microscopic examination of the
calcium alginate beads formed revealed that the shape of
the particles, especially of the larger ones (> 1 mm),
resembles a spherical geometry. Buchholz®® and Kasche'®
used average diameters (Zd/Zdp, and (Zdd/m)™*,
respectively; n is the total number of particles), both
differing from the arithmetical mean Zdp/n, to give
increased weight to the larger particles. These two correc-
tions were not applied here, as the differences between the
mentioned averages of the experimentally obtained diameter
distributions were found negligible (= 0.02 mm). The
particle diameters appeared to be normally distributed with
a standard deviation of 0.1 to 0.2 mm.

Cell density, The cell density, X, is expressed as g dry
weight per m* gel particle. It was observed experimentaily
that 1 em® of the initial cell suspension/sodium alginate
mixture yielded about 0,50 (+0.04) em?® calcium alpinate
gel (corresponding to =~ 4%, w/v, calcium alginate). It is
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assumed that the immobilized cells are homogeneously
distributed in the gel beads. The reactor-volume-based cell
density, Xy, was mostly 6% of the biocatalyst-volume-
based cell density, X.

Effective diffusion coefficients. Some relations have
been proposed to correlate the effective diffusion co-
efficient, D, to the diffusivitiy in water, D. However, the
applicability i often limited. The porosity and tortuosity
of the support material, used by Satterfield,® are mostly
unknown. Klein and coworkers™*® related effective
diffusion coefficients in polymerc carriers, like chitosan
and polymethacrylamide, to the volume fraction of poly-
mer, the cell-mass concentration or the volume fraction of
cells and, finally, a coefficient determined by the motecular
size of the substrate, It is, however, uncertain whether the
latter relations would give reliable estimates of the required
diffusion coefficiens 'n the alginate carrier used in this
study.

As the water content of the (= 4%, w/v) calcium alginate
gel (volume fraction of the wet cells mostly < 0.3) is very
high and the molecular sizes of the two substrates are small,
the effective diffusion coefficients of the substrates in the
gel material are not likely to be much lower than the corres-
ponding diffusion coefficients in water. This consideration
is confirmed by two recent, experimental studies. Tanaka
et al.¥ investigated the substrate diffusion characteristics
in calcium alginate ge! beads (without biocatalyst). The
effective diffusivities of substrates with molecular weights
smaller than 2 X 10* (gmol™") were found equal to the
corresponding values in water and, furthermore, indepen-
dent of the calcium alginate concentration in the beads.
Adlercreutz® determined that the effective diffusivity of
oxygen in calcium alginate gel [X < 48 X 10° g dry weight
(m?® particle)™'] at 30°C was = 2.1 X 107% m® s, which is
= 90% of the diffusivity in water (2.4 X 1077 m? 5™, see
below), In another study the maximum pore size of alginate
beads (gel type Manucol LD) was estimated 1.4 X 107 m.%
This also indicates a limited influence of the gel matrix
structure on the internal diffusion rates of propene and
oXygen, since the dimensions of these substrate molecules
are much smaller than the mentioned pore diameter.
Accordingly, in this study the estimated diffusivities at
30°C of propene and oxygen in water, Dy and D;, res-
pectively, were used to predict the substrate diffusion
tates in the calcium alginate beads (D, = 1.5 X 107
m? st 28 D) 224 % 1077 m? s)* A possible influ-
ence of cell density on the effective diffusion coefficients
is assumed not to be significant. It is recognized that the
true, effective diffusion coefficients of the substrates in the
alginate gel will be somewhat lower than the corresponding
coefficients in water, due to the alginate network and
partial blocking of pores by the immobilized cells. However,
to our knowledge, no reliable, generai method is available
yet to quantify these effects for gaseous substrates.

External mass-transfer coefficients. The volumetric gas—
liquid oxygen transfer coefficient, (kpa)z, was found to
equal 0.05 s~ using a dynamic oxygen electrode method.
The propene transfer coefficient at the pasliguid inter-
face, (kLa)y , can then be estimated from:*

(kray = (D1/D)"® (k) 10)

which vields (kya), =00457".
The mass-transfer coefficient, kg, in the agueous film
surrounding the alginate bead can be obtained from dimen-

46

sionless number equations relating Sherwood (Sh = kgdp/
D) to Reynolds (Re = p; Udp/uy ) and Schmidt (Sc = uy /
(p.D)). (D is the propene or oxygen diffusion coefficent
in the water film, py and uy are the density and viscosity
of the fluid, respectively, and Uis the velocity of the liquid
relative to the particle). For laminar flow (Re < 30} a
correlation derived by Brian and Hales can be used :**

Sh = (40 + 121 Re?? §:23)0s an

while at more turbulent flow conditions (Re = 30) the well
known relationship of Ranz and Marshall can be applied:*

Sh = 20 + 0.60 Re'/? Sc! (12)

In this work the slip velocity, U, was equated to three times
the terminal velocity, Lp.* This constant velocity of a
particle falling in a fluid phase under the action of gravity
is usually calculated as follows:*®

U = [4gdp Ap/(3 p1 C)]** (13}

In this equation g is the gravitational acceleration constant
(981 m s %), Ap the density difference between the alginate
beads and the aqueous phase (about 50 kg m™) and € the
drag coefficient of a spherical, rigid particle falling in a
fluid phase, The drag coefficient and the terminal velocity
can be iteratively calculated using the relation between C
and the Reynolds number (py. U7 dpfug).*®

The propene and oxygen liquid—solid mass-transfer
coefficients thus calculated (about 5.5 X 1075 and 7.5 X
107 ms™, respectively) are only weak functions of the
particle diameier. Hence, the smallest diameters used in this
work (= 0.7 mm) yield the lowest Sherwood numbers
{kgdp/D = 20, for propene as well as for oxygen). From
these relatively high Sherwood numbers {(Sh > 20) it can
be derived that the resistance due to the liquid-—solid mass
transfer will be limited.*'®

Comparisons between experimental and theoretical
reaction rates

The theoretical external and internal diffusion analysis
and the above derived set of model parameters were com-
bined to calculate the influences of propene or oxygen
diffusion on the epoxidation kinetics of the immobilized
cells. The predicted substrate consumption rates were
compated to experimental rates obtained from two types of
timecourse data. At a constant, high oxygen concentration
(240 um) the decrease in propene level was measured at
regular time intervals, whereas at 2 constant, high propene
concentration (160 uM) the oxygen level in the experi-
mental system was monitored. For both cases it was verified
experimentally that pseudo-one-substrate conditions were
approached by varying the excess level of the nonlimiting
substrate. An example of this is given in Figure 1. The
oxygen-consumption rate was strongly diffusion-limited
(experimental n << 0.4 for §; < 80 um) in this particular
case for particle beads of =~ 2.6 mm. However, as can be
seen from Figure I, increasing the constant propene level
from 160 to 320 uM does not significantly alter the oxygen
consumption rate, which indicates that only oxygen is
rate limiting.

The determination of reaction rates from time-course
data is only correct when inhibition by the formed propene
oxide and cell inactivation do not occur. The measured
epoxide concentrations were always smaller than 3 mm,
and mostly smaller than 1.5 mM. At these low concentra-
tions the inhibitory effect of the propene oxide on propene
and oxygen consumption rates of free and immobilized
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Figure 1 Amount of unconverted oxygen in the experimental
system versus time showing pseudo-one-substrate conditions (1
mmol oxygen ¢orresponds to §5 = 48.1 uM); (o) kinetic control,
§, = 160uM [Vim2 = 90 umol min' g dry weighti™, X =
0.80 X 10* g dry waight {(m® particle)™®, dp = 08 mmi; (o} §, =
160 uM [V, 2 = 9.0 umol min™" g dry weight)™, X = 3.6 X 10°
g dry weight {m® particlel]?, dp = 26mmi; (x) S§; = 320 uM
(V2 = 90 umoi min™ {g dry weight)™, X = 3.6 X 16* g dry
weight (m? particlel™ , dp = 2.7 mmj

Propene {mmal)

Time {h)

Figure 2 Amount 0f unconverted propene in the experimental
system versus time showing the aperational staility of the immabil.
ized cells {1 mmol propene corresponds to SF = 192 M, §, = 240
aM); (o] kinatic conrol [V, ¢ = 1.1 pmol min" {g dry weightl™,
X =096 X 10° g dry weight {m? partictel’! , dp = 0.7 mm]

cells was found to be small?** Furthermore, it was
demonstrated that hydrolysis of the produced epoxide in a
sulphuric acid solution during the time-course experiments
{removal from the circulating gas stream) did not alter the
immobilized cell activity for propene and oxygen.

The operational stability of the immobilized cells also
did not interfere significantly with the diffusion measure-
ments, Some experiments were repeated by addition of a
fresh amount of the limiting substrate to the reaction
system, Only small reductions in immobilized cell activity
were observed. Likewise, under diffusion-free experimantal
conditions and at high concentrations (§* » K), an
almost time-independent consumption rate of the substrate
was obtained (Figure 2).

Increasing the cell density and/or the diameter of the
hiocatalyst particles (while holding the total amount of
biocatalyst in the bioreactor constant) reduces the propene
epoxidation rate considerably (Figures 3 and 4). This
appears to be especially true at high biocatalytic activities,
X V1 (Figure 5). Similar results were obtained for the
coupled diffusion and oxygen consumption (Figure 6).
The experimental reaction rates were extracted from
these data of concentration versus time by fitting second-
order polynomial functions to sets of seven points of
measurement using the method of least squares. The
consumption rate at the substrate concentration of the
middle one of the seven data pairs could then easily be
calculated from the derivative of the obtained polynomial.
In Figres 710 the experimental rates thus derived are
compared to the diffusion-model calculations in dimension-
less consumption 1ate (v,/Vy )} graphs piotted as a function
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Figure 3 Amount of unconverted propene in the experimental
system versus time showing the effact of immobitized cell density,
X [1 mmaol propane corresponds to St = 192 uM, V1 = 3.7 pmol
min~! (g dry weight)™, dp = 2.0 mm]; X [X 10* g dry weight (m®
particle}™ | : 32 (5), 6.5 (+), 13.0 {x)
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Figurs 4 Amount of unconverted propene in the experimental
system versus time showing the effect of particle diameter, dp, at
low biocatalytic activity [1 mmol propene corresponds 1o S§¢ =
192 uM, Vg1 = 079 umel min! g dry weightl™, X = BB X
10* g dry welght {m* particlel™ | ; ¢ {mm): 0.7 {o}, 2.5 (o]
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Figure 5 Amount of unconverted propeng in the experimental
fystem vorsus time ghowing the effect of particle diameter, dp, &t
high biocatalytic activity [1 mmol propene correspands to S5 =
82.2uM, Vi, 4 = 26umol min™ (g dry weighty', X = 7.3 X
t0* g dry weight {m?* particle* ]1; dp (mm): 0.7 (0}, 2.3 {0}
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Figura 6§ Amount of unconverted oxygen in the experimental
system versus time showing the effects of immobilized celi density,
X, and particle diameter, dp {1 mmol oxygen corresponds to 53 =
4B.1 uM, Vo = 126 umol min”' {g dry weight)?); (o) X =
1.2 X 10* g dry weight {m® particle)™, dp = 0.8 mm; (o) X =
1.2 X 10" g dey weight {(m® particie)™ dp = 23 mm; {x} X =
3.6 X 10* g dry weight (m* particle] ", dp = 2.6 mm

of the propene or oxygen concentration, $*. Guod agree-
ment is observed between the experimental and predicted
overall reaction rates (or overall effectiveness factors,
equation 3) at all levels of propene and oxygen. The absolute
consumption rates as well as the effect of varying cell
density andfor bead diameter are satisfactorily predicted.
It may be concluded that the several assurmptions made in
the diffusion model {for instance the approximate solution
to the diffusion equation and the psendo-onesubstrate
conditions} all seem to be reasonable.

To test the accuracy of the theoretical effectiveness
factors used, an alternative procedure to approximate
equation (4), devetoped by Moo-Young and Kobayashi®™
and Kobayashi and Laidler® for immobilized enzyme
systems, was also applied. The differences between the
two methods were only a few percent of the predicted
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external and internal effectiveness factors, which is within
the experimental error of the measured reaction rates.

The observation that the experimental rates are generally
somewhat smaller than the theoretical rates (Figures 7-10)
might be comnected to the high value of the effective
diffusivity (24 X 107* m? s} used in the predictions.
On the whole, however, one could conclude that the
diffusivity of alow molecular weight substrate (like oxygen
or propene) in water is a reasonably accurate measure for
the diffusivity of the pertinent compound in (= 4%, w/v)
calcium alginate gel. This seems to disagree with the pre-
viously found low value for the effective diffusion co-
efficient of oxygen in (= 4%, w/v) barium alginate (= 0.7 X
10° m® 5')," but agrees well with the work of Tanaka et
al® and Adlercreviz.* The influence of polymer concen-
tration and cell density on diffusion rates can be estimated
from relationships proposed by Klein and coworkers.>”®
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Figure 7 Dimensionless propene crnsumption rate, VR‘1NM1,
wersus the propene concentration at the gas—liquid interface, .‘.u‘l'
[V, = 3.7 umol min™ {g dry weight)™ , de = 2.0 mm]; experi-
mental reaction rates {from Figure 3), X (¥ 10* g dry weight {m?*
particlel™]; 32 (o), 6.5 (+}, 130 {x); diffusion model predictions
{—I; nagligible diffusion resistance (---)
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Figure 8 Dimensionless propene consumption rate, vp 1/Vm 3,
versus the propane concantration at the gas—liquid interface, S}
[V ¢+ = 0.79 pmol min™ ig dry weightl™, X = 58 X 10* g dry
waight tm® particler' ] ; experimental reaction rates {from Figure
4}, dp Imm): 0.7 (o}, 2.5 {o}; diffusion model predictions (—1};
negligible diffusion resistance {---}
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Figure 9 Dimensionless propene consumption rate, vH,1."Vm_1-
versus the praopene congeniration at the gas—liquid interface, S}
{¥m 1 = 2.6 umol min™ {g dry weight’', X = 7.3 X 10* g dry
weight {(m? particlel! | ; experimental reaction rates (from Figure
5), dp lmm): Q.7 (), 2.3 (o); diffusion model pradictions {—);
negligible diffusion resistance (---)
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Figure 10 Dimensionless axygen consumption rete, vntzfvmlz,
versus the oxygen coneentration at the gas—liquid interface, S
[Vim,2 = 126 umel min™ (g dry weight]™ ] ; experimental reaction
rates (from Figure €), {0) X = 1.2 g dry weight {m* particle]™ , dp
=08 mm, (0] X = 12 g dry weight {m? particlel™ , dp = 2.3 mm,
(x) X = 36 g dry weight {m® perticlel”, dp = 25 mm; diffusion
model predictions (—]; negligible diffusion resistance {---)

When the effective diffusion coefficients thus obtained
were used in our model, the predicted rates were in some
cases considerabty smaller than the measured rates.

In the experiments discussed above the predicted ex-
ternal effectivensss factors are mostly higher than 083,
even at low concentrations of the limiting substrate (§* ~
20 um), Thus, the sometimes low overall {experimental
and calculated) effectiveness factors of the immobilized
biocatalyst preparations are mainly caused by severe pore
diffusion limitation, This also implies that the accuracy of
the equations and parameters in the modelling of the
external diffusion resistances (like & a values, Sh relation,
slip velocity and Ap) is not very critical. Furthermore, the
correct description of coupled diffusion and reaction in the
biocatalyst particles becomes more important. Therefore,

the results presented can essentially be regarded as a positive
verification of the predictive capacity of the pore-diffusion
model used.
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Nomenclature

a gas—liquid specific surface area (m™* )

a3 liquid—solid specific surface avea {m™)

C drag coefficient

D diffusion coefficient in water (m? s™*)

D, effective diffusion coefficient in calcium alginate
(m®s )

dp particle diameter (m)

£ gravitational acceleration constant (m s72)

ky mass-transfer coefficient in the liquid film
adjacent to the gas— liquid interface (ms™)

ks mass-transfer  coefficient in the lquid film
adjacent to the liquid—solid interface {ms™")

Ko Michaclis—Menten censtant (mol m™?)

r radial distance from the centre of the particle
(m)

Re Reynolds number

s substrate concentration (mol m™)

5% substrate concentration at the gas—liquid inter-
face (mol m™3)

Ss subsstrate conceniration at the gel surface (mol
')

Sc Schmidt number

Sh Sherwood number

SLyL,G four phases: solid, water, organic solvent and gas

t time (s)

1 velocity of the liquid relative to the particle
(ms™)

Ut terminal velocity (m s™!)

VR overall substrate consumption rate [gmol min!
(g dry weight™*)]

Vi maximum reaction rate (gmol min?! (g dry
weight™ }]

X cell density [g dry weight (m? particle)} ]

Xy reactor-volume-based cell density [g dry weight
{m?® reactory!]

8 overall external mass-transfer coefficient (ms™ )

Ap density difference between alginate beads and
aqueous phase (kgm™)

n overall effectiveness factor

e external effectiveness factor

i intemal effectiveness factor

ML dynamic viscosity of the fluid (N s m™)

oL density of the fluid (kg m™*)

Subscripts

1 propene

2 oxXygen

References

1 Goldstein, L. Methods Enzymol. 1976, 44, 397443
2 Engasser, I. M. and Horvath, C, in Applied Biochemistry and
Bivengineering (Wingard, L. B., Katchalski-Katzir, E. and

49



Papers

18
1%
20
21
22

22

24
25
26

27

50

Goldstein, L., eds), Academic Press, New York, 1976, vol. 1,
pp. 127-220

Pitcher, W. H. Adv. Blochem. Eng. 1978, 10, 1-26
Moo-Young, M. and Blanch, H, W, Ady, Biockem, Eng, 1981,
19, 1-69

Buchholz, K. Adv. Riachem, Eng. 1982, 24, 39-71

Kasche, V. Enzyme Microb. Technol, 1983,5,2-13
Radovich, J. M. Enzyme Microb. Technol. 1985, 7,2-10
Karel, S. F., Libicki, S. B. and Robertson, C. R. Chem, Eng.
Sci, 1985,40, 13211354

BischofT, K. B. AJChE J. 1965, 11, 351-355

Weisz, P. B. Science 1973,179, 433—440

Marsh, D. R., Lee, Y. Y. and Tsao, G. T. Biotechnol, Bioeng.
1973,15,483-492

Rovito, B. J. and Kittrell, J, R, Biotechnol Bioeng. 1973, 15,
143-161

Bunting, P. §, and Laidler, K. I. Biockemistry 1972, 11, 4477 —
4483

Kcbayashi, T. and Moo-Young, M, Biotechinol, Bioeng. 1973,
18,4767

Korus, R. and O'Driscoll, K, F. Can. J. Chem, Eng. 1974, 52,
775-780

Dahodwala, §. K., Humphrey, A, E, and Weibel, M. K. Bio-
technol, Bioeng. 1976, 18, 9871004

Kasche, V., Kapune, A, and Schwegler, H. Enzyme Microb.
Technol, 1979,1,41-46

Kasche, V. in Characterization of Immobilized Biocatalysts
{Buchholz, K., ed), Dechema Monograph No. 1724-1731,
Veslag Chemic, Weinheim, 1979, vol. 84, pp. 224243
Baersma, J. G., Vellenga, K., de Wilt, H. G. J. and Joosten,
G. E. H. Biotechnol. Biceng. 1979, 21,1711-1724

Hiemstra, H., Dijkhuizen, L. and Harder, W. Eur. J. Appl
Microbiol, Biotechnol, 1983, 18, 185196

Klein, 1. and Vorlep, K.-D. Am. Chem. Soc. Symp. Ser. 1983,
207, 376-392

Klein, J., Hackel, U. and Wagnetr, F. Am, Chem, Soc. Symp.
Ser, 1979, 106, 101-118

Klein, J, and Wagner, F. in Biotechnology, Dechema Mono-
graph No, 16931703, Vertag Chemie, Weinheim, 1978, vol.
82, pp. 142154

Klein, J. in Characterization of Immobilized Biocatalysts
(Buchholz, K., ed.), Dechema Monograph No. 17241731,
Verlag Chemie, Weinheim, 1979, vol. 84, pp. 303-314

Jain, D, and Ghose, T, K, Biotechnol, Bioeng. 1984, 26, 340—
346

Brink, L. E. 8., Tramper, J., van’t Riet, K. and Luyben, K. Ch.
A M. Aral. Chim, Acta 1984, 163, 207-217

Habets-Cratzen, A. Q. H., Brink, L. E. 8., van Ginkel, C. G., de
Bont, ], A, M, and Tramper, J. Appl. Microbiol. Bietechnol.
1984, 20, 245250

Habets-Criitzen, A. Q. H., Carlier, S. J. N., de Bont, J. A, M.,
Wistuba, D., Schurig, V., Hartmans, 8. and Tramper, I. Enzyme
Microb. Technal, 1985, 7,17-21

28

29
30
il
32

13
34

35

36
37

38

39
40
41
4
44

45
a6

47
48

49
50

51

Tramper, J., Brink, L. E. 8., Hamstra, R. 8., de Bont, I. A. M.,
Habets-Crutzen, A. Q. H. and van Ginkel, C. G. Proceedings of
the 3rd Eur, Congress on Blotechnol. Verlag Chemie, Weinheim,
1984, vol, 2, pp. 269-276

Brink, L. E. §. and Tramper, J, Riotechnol, Bioeng. 1985, 27,
12581269

Brink, L, E, 8. and Tramper, 1, Proceedings of the Ist IFAC
Symposium on Modelling and Control of Biotechnological
Processes, Noordwijkethout, 1985, pp. 111-117

Reuss, M. Fortschr, Verf, 1976, 14, 551 -563

Villadsen, 1. V. and Stewatt, W. E. Chem. Eng. Sei, 1967, 22,
1483-1501

Ramachandran, P, A. Biotechnol, Bioeng, 1975, 17, 211-226
Brink, L. E. 8. and Trampet, J. Enzyme Microb. Technol.
1986, 8, in the press

Buchholz, X, in Chargeterization of Immabilized Biocatalysts
(Buchholz, K., ¢d.), Dechema Monograph No. 1724-1731,
Verlag Chemie, Weinheim, 1979, vol. 84, pp. 111117
Satterfield, C, N, and Skerwoed, T, K, in The Role of Diffusion
in Catalysis, Addison-Wesley, Reading, MA, 1963, pp. 20-26
Klein, J. and Washausen, P. in Characterization of Immobilized
Biocatalysts (Buchholz, K., ed.), Dechema Monograph No.
1724-1731, Verlag Chemie, Weinheim, 1979, vol. 84, pp.
300-302

Klein, J. and Manecke, G. in Enzyme Engineering (Chibata,
I, Fukui, 8, and Wingard, L. B., ¢ds), Plenum Press, New York,
1982, val. 6, pp. 181189

Tanaka, H., Matsumura, M, and Veliky, [, A, Biotecinol,
Biceng. 1984, 26, 53-58

Adlercreutz, P. Oxygen Supply to fmmobilized Cells, PhD
Thesis, University of Lund, Lund, Sweden, 1985

Kiein, J., Steck, J. and Vorlop, K-D. Eur. J. Appl Micro-
biol, Biotechnol. 1983, 18, 8691

Vivian, J. E. and King, C. J. AIChE J. 1964, 10, 220-221
Duda, J. L. and Vrentas, J. S, ATIChRE J. 1968, 14, 286-294
Ichikawa, Y., Sato, S. and Takahashi, 1, J. Ferment. Technol.
1981, 59, 269-273

Brian, P. L. T. and Hales, H, B, AICAE J, 1969, 15, 419-425
Ranz, W. E. and Marshall, W. R. Chem. Eng. Progr. 1952, 48,
141-146,173-180 .

Sherwood, T, K., Pigford, R. L. and Wilke, C. R. in Mase
Transfer, McGraw-Hill, Inc., New York, 1975, 220224
Boucher, D. F. and Alves, G. E. in Chemical Engingers’ Hand-
book (Perry, R. H. and Chilton, C. H., eds), McGraw-Hill, Inc.,
New York, 1974, 5th edn, section 5, 6162

Habets-Criitzen, A. Q. H. and de Bont, . A. M. Appl. Micra-
biol. Biotecknol. 1985,22,428-433

Moo-Young, M. and Kobayashi, T. Can. 5. Chem. Eng, 1972,
50,162-167

Kobayashi, T. and Laidler, K. J. Biochim. Biophys. Acta 1973,
302,1-12




RXDEMS

5. MODELLING THE EFFECTS OF MASS
TRANSFER ON KINETICS OF PROPENE
EPOXIDATION OF IMMOBILIZED
MYCOBACTERIUM CELLS:

PRODUCT INHIBITION

L. E. S. Brink and ], Tramper

Department of Food Science, Food and Bioengineering Group, Agricultural University Wageningen,

De Dreyen 12, 6703 BC Wageningen, The Netherlands

(Received 9 September 1985; revised 12 Decernber 1985)

An existing model far the external and internal mass transfer effects on the kinetics of propene
epoxidation of calcium alginate-entrapped cells was extended to account for inhibitior of the pro-
duced propene oxide. The intrinsic kinetics of the product-inhibited epoxidation reaction were
derived and Its applicability was demonstrated using independent time course experiments in a
circulation batchreactor system, The problem of coupled product-inhibited epoxidation and oxygen
diffusion to and in the spherical gel beads was solved applying the collocation method. The predicted
and experimental propene and oxygen-consumption rates were found to be in agreement for various
degrees of oxygen-diffusion limitation and propene oxide inhibition.

Keywords; Immobilized cells; mass transfer modelling; propene oxide inhibition; propene epoxidation kinetics

Introduction

In paper 1° it was shown that the pronene epoxidation rate
of calcium alginate-entrapped Mycobacterium cells could be
severely limited due to internal and, to a smaller extent,
external mass transfer resistances of the two substrates,
propene and oxygen. The pore diffusion model was success-
fully applied to quantify these diffusion effects, assuming
pseudo-one-substrate conditions (with propene or oxygen
ag the limiting substrate) and negligible product inhibition,
The latter two simplifications, though justifiable in a funda-
mental study, could restrict, however, the application of
the diffusion model in many cases of practical import-
ance,

A possible process scheme for the production of chiral
propene oxide in an organic liquid phasefimmobilized cell
system®™® is the two-phase fixed-bed bioreactor. In this
reactor configuration the organic solvent is pumped
through a stagnant, aqueous phase consisting of the calcium
alginate beads, thereby continuously supplying the two
dissolved substrates and extracting the formed epoxide.
After separation of the epoxide from the product stream,
for instance by distillation, and replenishment of the sub-
strates, the solvent is recycled. As the solubility of propene
in a suitable organic solvent (for instance n-hexadecane) is
much higher than that of oxygen,® it is likely that the
assumption of pseudo-onesubstrate conditions {(with oxy-
gen as the limiting substrate} will hold. In this respect the
above-mentioned one-substrate microkinetic model can be

used to form the basis of a macrokinetic model describing
the performance of the fixed-bed bioreactor. However,
application of the second assumption, negligible product
inhibition, might lead to erromeous model predictions in
view of the very toxic nature of propene oxide’ the
relatively high solubility of the epoxide in water (or
calcium alginate gel)® and, finally, the desirability of high
product concentrations for ease of product recovery.
Therefore, modelling of the product-inhibited epoxidation
kinetics of immobilized cells in conjunction with (oxygen)
mass transfer resistances will be dealt with in this paper.

A simple, kinetic model is derived, using time-course
experiments, which relates the propene and oxygen con-
sumption rate and epoxide production rate of the immo-
bilized cells to the oxygen and propene oxide concentrations
(excess level of propene). The three-point collocation
method™® was used to solve the problem of coupled
productdnhibited epoxidation and pore diffusion in the
calcium alginate beads in series with extemal film diffusion.
This made it possible to estimate the influences of changing
bead size, cell density and oxygen and epoxide concentra-
tion on the observed propene and oxygen consumption
rates.

Materials and methods

Chemicals and microorganism
Liquid propene oxide was purchased from Merck.
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Alginate Industries, London, UK provided the support
material, sodium alginate (Manucol DM). Microbial aspects
of the Mycobacterium strain E3 used for the epoxidation
reaction have been described elsewhere.?

Immobilization

The technique of lmmohlllzauon in calcium alginate has
been reported earlier.? The mean diameter of the spherical
gel particles was determined by microscopic measurement
of about 40 bead diameters.

Measurement of product-inhibited kinetics and
mass transfer effects

The propene, oxygen and propene oxide concentrations
were measured in a laboratory-scale batch-reactor system
with gas circuit. Full details concerning method of measure-
ment of kinetic rate have been published before.*® A small
bubble-column bioreactor (250 cm®) was used for contact-
ing the calcium alginate beads and an agqueous 0.05 M
calcium chloride solution with the circulating gas. In the
case of large biocatalyst particles and a large amount of
caleium alginate gel, a bubblecolumn bioreactor with an
increased volume (500 cm®) was used to assure suspension
of the gel particles by the circulating gas, The total amount
of biocatalyst used in one experiment was always about 1 2
dry weight of cells, The excess liquid concentrations of
propene and oxygen in experiments with pseudo-one-
substrate reaction conditions were 160 umM and 240 um,
respectively,

Results and discussion

Product-inhibited epoxidation kinetics

An accurate, kinetic model should be available to make
meaningful predictions of the coupled diffusion and
productinhibited reaction rate in the biocatalyst bead. In
the absence of propene oxide the experimental propene
consumption rate,»,, of the gelentrapped, non—gmmng
cells can be described by the ping-pong mechanism. This
kinetic model is mosily used for bisubstrate enzyme-
catalysed reactions.'® However, a more accurate prediction
of v, as a function of the oxygen concentration, S;, is
cbtained when an allosteric effect'® of oxygen is incorpor-
ated in the rate equation (see results below):

dsy _ Vs, Sz Vs (1)
dr  K,S, +K,8: +5,8 KA+SZ

where 17 is the maximal epoxidation rate; 8, and §, the
propene and oxygen concentration, respectively; X, and
K 5 are kinetic parameters. The approximation in the right
hand side of equation (1) is valid at high levels of propene
5, »K,).

The immobilized cells also appeared to consume oxygen
in the absence of propene (and propene oxide). This cell
respiration was found to obey irreversible Michaelis—
Menten kinetics with a maximum respiration rate of aF,*
« being a parameter, As it was also found experimentally
that about one mole of oxygen is needed for the epoxida-
tion of one mole of propene in addition to respiration, the
total oxgen consumption rate, »,, is given by:

v, =—

v =45 _ 45, oS )]
1 dr dt Kp +85;

where Ky is the Michaelis—Menten constant of the cell
respiration,
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The propene consumption rate of free® and immobilized
cells is inhibited strongly by the product, propene oxide
(P). This inhibition can be described by the following
general rate equation (excess propene):"’

ds, vsi @)
dr K (1 +P/Kp)+ 83 (1 + FIKR)

where Kp and Ky are the epoxide inhibition parameters.
The inhibitory effect of the epoxide on the oxygen
consumption rate of free® and immobilized cells (see
below) is much less severe, indicating no significant depend-
ence of the cell respiration on the propene oxide level. In
the case of immobilized cells the latter was substantiated by
measurements in a biological oxygen monitor (P < 15 mm).
Thug, equation (2) (combined with equation 3) can still be
used to predict the oxygen consumption rate in the case of
product inhibition.

A part of the propene oxide formed is consumed by the
bacteria.>* Therefore, the production rate of the epoxide,
vp, will be lower than the propene consumption rate:

dP dsy
=T g el 5) @)

where vo (P, S,} is the P and §; dependent epoxide con-
sumption rate.

=

Estimation of kinetic parameters

The parameters in the above kinetic model ¥V, & K,
K, Kp, Kp and K7 were estimated by fitting the kinetic
model, as predicted by equations (1-3), to different types
of experimental time-course data, The influences of the
propene oxide formed and the small inactivation of the
immobilized cells were not significant in these experiments,
as has already been discussed.! Furthermore, despite the
very low solubilities of the gaseous substrates in water,
diffusional effects were eliminated by proper selection of
particle size (= 0,7 mm) and biocatalytic activity[=~ 5 X
10* umol min™! (m? particle}?]. Under these conditions
the calculated effectiveness factors (see paper 1for method
of calculation)* are between unity and 0.9 when propene
is the limiting substrate and between unity and 0.8 in case
of oxygen limitation, dependent on the substrate concen-
tration (10 < §, < 160 um, 10 < §, < 80 um). The effects
of these small diffusion resistances on the derived kinetic
parameters, and consequently on the model predictions,
are only limited.

At an excess level of oxygen (52 ¥ K, ) equation (1) can
be rearranged as:

s, _ Vs,
d&r K, +8 5}

Fitting the integrated form of equation (5) to experi-
mental Sy(f) data, using a non-linear regression technique,
then gives values for ¥ and K, (Figure 1). In the absence
of propene, equation (2) becomes:

__ 45, _ a¥s,

TTE TRetS: ®)
Values for a and Kp are then determined from experi-
mental $,(z) by applying the same fitting technique as
above. The described procedure was performed with five
different cell batches. Low values were found for the
{pseudo)equilibdum constants (K, = 6 (£3) um, Kg =20
(+8) um ). The relatively high variation in these values does
not give rise to inaccurate model predictions in view of the
small effect of the two parameters on the calculated reaction

v, = —
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rates. This is not the case for the kinetic rate parameters, ¥V
and a. Specific estimates for these parameters are necessary
for each cell baich, as considerable differences were found
between the activities of the five cell batches used [1 < V<
3.5 pymol min™ (g dry weight)*; 1.5 <e<5].

At an excess concentration of propene (S, ® K,) the
propene consumption rate is described by (equation 1):

g5 Vs
LT P )

The parameter K, can be estimated from experimentally
determined v, values at various constant oxygen concentra-
tions using the appropriate known value for ¥ and a non-
linear regression technique (K, = 5.1 X 10% and 4.4 X 10?
um?; two different cell batches). Equation (7) proved to be
superior over a Michaelis—Menten-type relation between
v, and §, in describing the experimental data (Figure 2).

In contrast to the consumption rate of propene, the
influence of propene oxide (P < 10 mM) on the oxygen

consumption Is limited (Figure 3). Apparently, the cell
respiration, the dominant term in equation (2), is not
affected by low concentrations of the epoxide. Asin these
experiments an excess amount of propene was continuously
present, the propene consumption rate, vy, is only a func-
tion of S, and P {equation 3). Experimental v,{S;, £} can
be extracted from the data in Figure 3, employing a fitting
technique described in paper 1' to obtain experimental ¥,
values from the .5, (r) data (fitting second-order polynomial
functions to sets of seven or nine points of measurement),
The following, optimal parameter set was found to give a
sufficiently accurate description of the ubserved »((S;, P):
Ko =46X 10" pm? Kp=13mm, Kp=96mm, V=
12 umel min™? (g dry weighty' (Figure 4). The value
obtained for K, agrees well with the above-mentioned
values, Both the inhibition parameters, Kp and Ky, appear
necessary to model the decreasing maximal rate and the
increasing, apparent X 4 [i.e. K (1 + P/Kp)/(} + PIKD)].

The propene oxide consumption rate, vg, of the differ-
ent cell batches was always =~ 10—15% of the maximum
propene consumption rate, V. A similar result was reported
eatlier for free Mycobacterium cells (strain E3).?

To examine the predictive capacity of the derived
kinetic model {excess propene, equations 2—4) two different
tests were performed, Model predictions were obtained by
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Figure 3  Amount of unconverted substrate in the experimental
system (a: propene, b: oxygen; measured simultancously) versus
time at various propene oxide levels {1 mmot propene corresponds
to §, = 233 um, 1 mmol oxygen corresgonds to §, = 68.3 uml;
P |mi): 0 {o}, 3,0 {o}, 53 (x), 106 |+), 116 le}
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Figure 4 Propene consumption rate, v, , versus the axygen can-
centration, 3,, 8t various propene oxide levels; P (mM): O (o},
3.0 (o}, 53 (x), 106 {+}, 116 le}; model fit: equation (3] with
Ka=46X 107 ym? XKp=13mM, Kg=98mMand ¥ =12
amol min~! {g dry weight)™!
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Figure § Amount of unconverted oxygen in the experimental
systern versus time in the absence of propene {x) and at an excess
tevel of propene (0) (1 mmol oxygen correspondi to §; = 48,1
um); —— modal fit: equation 18) with oV = 2.2 ymot min™ {g
dry weight)"! and Kg = 29 uM; ----, kinetic model predictions:
equation (8) with V¥ = 1.4 pmotmia™' {g dry weight)"', Ka =
4.4 % 10% ym® and oV and K'g as stated above

numerically solving the relevant differential equations,
using the Runge—Kutta procedure.

Firstly, calculated oxygen consumption rates at a high,
constant concentration of propene (§; ¥ K,) and in the
absence of propene oxide (P ~ 0 mm):

__ 45 aV81
KA + IE:

V2 =gy Kp + 5, @

compared favourably with independently determined
experimental rates of the immobilized cells in a concentra-
tion versus time plot (Figure 5). At excess levels of propene
the dependence of the oxygen consumption rate on §; can
also be successfully described by the Michaelis—Menten
equation ¥, 3 S3/(Km 2 + S2), when optimum values for
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V2 aud K 3 are chosen, This approach has been used in
paper 1.

Secondly, independently determined propene, oxygen
and epoxide timecourse data were compared to the calcu-
lated 84(t), S2(¢) and P(¢) {excess propene, equations 2—4).
See Figure 6. The epoxide consumption rate, vo, was
assumed to equal 03 [umol min™' (g dry weighty']
(= 12% of ¥) and, furthermore, to be independent of the
oxygen and epoxide concentrations. Again, a good apree-
ment is found between model predictions and experimental
values. Though the influence of the produced epoxide (P <
2 mM)is relatively small in this experiment, the accuracy of
the predicted propene concentrations becomes significantly
better by taking the product inhibition into account, The
observed epoxide levels at the end of the experiment are
somewhat higher than the predicted ones. This may be a
result of neglecting the dependence of the epoxide con-
sumption rate on the decreasing oxygen level.

Product inhibition and oxygen diffusion limitation

At an excess level of propene the apparent kinetics of
the gelentrapped cells may be limited due to diffusion of
oxygen and propene oxide to, in and from the biocatalyst
particles. The differential equation describing coupled
oxygen diffusion and consumption m the catalyst bead
is (equations 2 and 3; see also paper 1):!

ZdS]
e 1( T +
©)
Vs + alsS,
Ko (1 +PIKR)+ 53 (1 +PKp) Kp+ 5,
with the boundary conditions:
D, s dS,fdr=B(S* —55) atr=05dp {10)
ds,/dr=0 atr=0 {11)
and with the overall external mass transfer coefficient:!
={ag [1/fkpa) + 1/ksas)]} (12)

Time [h}

Figure 8 Amount of uncorwertad propens (o) and oxygen (x|
and accumulated propene oxide (0} in the exparimental system
versus tima {1 mmo| propene corresponds to §; = 192 uMm, 1 mmol
oxygen corfrespands to S, = 481 um, 1 mmai propene oxide
corresponds to P = 4.0 mM}; kinetic model predictions: equations
{2—4} with V = 25 pmol min~? {g dry weight}~' , K, =51 x 10*
uM?, Kp =13 mM, Kg =96mM, 0 =19, Kg =27 um and v,
=0.3 pmal min™ |g dry weight}~’
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Likewise, coupled propene oxide diffusion (out of the
bead) and formation is modelted by:

d’P | 24P
Pl ) 3
— vk _
- X(KA (A +P/Kp)+S3(L+PKs) 'C @ 52})
with the boundary conditions:
Do pdPfdr=—{3p (F; — Py} atr=0.5dp (14)
dPfdr=0 atr=0 (15)

Equation (9) has to be solved simultaneously with equa-
tion (13} to obtain the oxygen and epoxide profiles in the
catalyst bead, and from these the theoretical reaction rates.
The diverse kineticrate terms in these two equations pre-
vents the derivation of a simple relation between P(r) and
$2(1), as has been done by Ramachandran,® Jain and
Ghose'? and Karel et al.® However, for estimating the
epoxide profile in the gel bead, the dependence of », on
the epoxide concentration can be neglected (Figure 3b) and
a Michaelis—Menten equation was used to describe v,(S,).
The oxygen profile can now be calculated by solving
equation (9),' and, inserting S,(r) in equation (13), the
epoxide concentration profile was estimated using the
three-point collocation method.™® In the absence of
external epoxide diffusion limitation (P; =~ Py, in equation
(14); see also the comparable cases for oxygen and propenc)
and under oxygen diffusion limited conditions the epoxide
profiles thus calculated were not found significant (P, =
3 mm, P~ 3mM at » = 0}, even with a very low estimate
for Dep [D,,/10 = 1.5 X 1071% (m?® §%))! and with a
negligible epoxide consumption rate, vo. The relatively
high propene oxide concentrations in the water and calcium
alginate phase (millimolar range), in contrast with the low
solubilities of the gaseous substrates in an aqueous phase
(micromolar range), is the main cause for this cbservation.
Therefore, the propene oxide concentrations in the alginate
bead can be assumed to equal the epoxide concentration in
the bulk liquid.

The influence of external and internal diffusion limita-
tions on the substrate consumption rate of the immobilized
cells has been quantified.! These effects were described by
the Thisle effectiveness factor, #, which relates the reaction
rate if no diffusion resistance existed to the observed rate.
Accordingly, assuming uniform propene and epoxide
concentration profiles in the alginate bead, the oxygen
consumption rate under diffusion-limited conditions can be
caiculated as (equations 2 and 3):

- v 2
2= (T AR T RRD

QVS;

+ Fop Sz) (16)
The effectiveness factor is obtained by solving equations
(9—11) {P.= Py} using the three-point collocation method™*
with the mass-transfer parameters derived in paper1’ (D, o,
£). As the effectiveness of the biocatalyst is entirely deter-
mined by oxygen diffusion, the propene consumption rate
can also be described with the above calculated effective-
ness factor:

- v
1 G )= (T i T SRR )
To test the accuracy of the predicted oxygen and

propene consumption rates {equations 16 and 17) for
various degrees of oxygen diffusion resistance and epoxide
inhibition, the experiments of Table ! were performed.
One of these tests [dp = 0.7 mm, X = 76 X 10° g dry
weight (m® particleT?, P, = 0 mm | has been used (together
with the experiments of Figure 4) to derive the kinetic
parameters V, &, K5, Kg, Kp and Kg. These parameters
were then combined with equations {16) and (17) to cbtain
model predictions for the other three experiments in Table
1. Experimental reaction rates, vy (S,, Py) and vy (5,3, Py),
were again derived from graphs of substrate concentration
versus time using the fitting technique described in paper 1.!
In Figures 7 and 8 these experimental rates are compared
to the corresponding, theoretical velues of equations (16)
and (17). The various assumptions made in the model
calculations {kinetic model, uniform propene and epoxide
profiles, collocation method) do not seem to affect the
reliability of the model predictions to an unacceptable
degree. The discrepancies in Figures 7 and & are consider-
able (error in overall effectiveness mostly < = 30%, 20 <
8, <100 ym) but not unanticipated. Kasche'* has atready
indicated that the prediction of overall effectiveness factors
of immobilized biocatalysts cannot be better than ~20—30%
{when n < 1) as a result of a cumulation of experimental
erros in system properties (e g, kinetic parameters, particle
size, effective diffusivity), which are used to determine the
Thiele modulus and Sherwood number and thus the effec-

Tabla 1 Reaction conditians {particle diameter, immobilized cell
density and propene oxide concentration in the bulk liguid) of the
experimants with coupled oxygen diffusion and gpoxide inhibition

X
dp [X 10* g dry weight Pn
Expt no. {mm} {m?* particle) ™} (mm}
1 o7 1.6 a
2 28 7.7 1}
3 27 .7 16
4 29 48 27
1.0
L =]
L
o8
N i
T 06
+ L
< [
~
> 04
[
0.2
0.0
o 20 40 50 80 100
3 um}
Figura 7 Dimensionless oxygen consumption rate, v, /{1 + &)V,

versus the oxygen concentration at the gas—liquid interface, 8, =
§*: experimantal reactlon rates (ses Table T): ©, no. 1; 0, no. 2;
%, na. 3; +, na. 4; model predictions {——, nos. 1 and 4; —-—, no.
2; —-.—, no, 3): aquations (9—11) and 16} with ¥ = 1,2 pmol
min~t (g dry weight)™!, K, =46 x 107 uM?, Kp = 1.3 mM, Kp
=96mM, &« = 48 and Kg = 11 pM; ----, negligible diffusion
resistance and P, = 0 mM
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Mass transfer effects on immobilizad cell kinetics {2): L. E. 5. 8rink and J. Tramper

LLE:]

T T T

Q0.2

.0
1] 20 49 1] BD 100

Figure 8 Dimansionless propene consumption rats, v, /V, versus
the oxygen concentration at the gas—liquld interface, §, = §*;
exparimental reaction rates (see Table 7}: ¢, no, 1; 0, ne. 2; x, ne. 3;
+, no. 4; model predictions (——, nos 1-ang 4; —+—, No, 2; ===,
no, 3): equations 19—~11) and (17) with V= 1.2 gmol min™* (g dry
waight]™ | Ka = 48 ¥ 107 uM?, Kp = 1.3 mm, Kp = 2.6 MM, o
= 43 and Kg = 11 uM; ----, negligible diffusion resistance and Py,
=0DmMm

tiveness factor. However, theoretical calculations, such as
these in Figures 7 and 8, are still useful to estimate the
effectiveness of the immobilized biocatalyst under influ-
ence of changing process parameters in practical applications
(e.g. an organic liquid phase fimmobilized cell bicreactor }'

As in paper 1, the caleulated, external oxygen diffusion
limitation is much less severe than the internal diffusion
limitation. Experimental oxygen consumption rates are
mostlty somewhat higher than the theoretical values, but the
effects of the changing reaction conditions (Table 1) and
oxygen concentration are correctly predicted. The calcu-
lated and experimentally observed effects of propene
oxide on the propene consumption rate are of more impor-
tance than the effects on the oxygen consumption (experi-
ments 2 and 3, Teble [). At the highest epoxide inhibition
level and with severe oxygen diffusion limitation (experi-
ment 4} it becomes difficult to measure accurately the
decrease in the excess propene concentration. This may
explain the substantial difference between the observed
and caleulated propene consumption rates found in this
experiment.

Conclusions

The inhibitory effect of propene oxide on the propene
epoxidation kinetics of gel-entrapped cells was successfully
incorporated- in an existing external film and intemal pore
diffusion model. In view of the high solubility of propene
in a non-polar organic solvent, the reaction medium for the
epoxidation reaction in future applications, cxygen was
considered the limiting substrate in this diffusion model.
The microkinetic model will play a central role in the design
of an organic liquid phase/immobitized cell bioreactor,
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Nomenclature

[ gas—liquid specific surface area (m™")

asg Tiquid—salid specific surface area (m™);

D, effective propene diffusion coefficient in calcium
alginate (m® 5™1)

D., effective oxygen diffusion coefficient in calcium

alginate (m? s7")

D.p effective propene oxide diffusion coefficient in
caleium alginate (m? ')

dp particte diameter (m)

Ky, oxygen mass transfer coefficient in the liquid film
adjacent to the gas—liquid interface (m s7')

ks oxygen mass transfer coefficient in the liquid film
adjacent to the liquid—solid interface (m ™)

K,  kinetic parameter in equation (1) (mol m™3)

Ka  kinetic parameter in equation (1) (mal® m®)

Km.2 Michaelis—Menten constant of the overall oxygen
consumption (mol m™)

Kgr  Michaclis—Menten constant of the cell respiration
(mol m™)

K}  propene oxide inhibition parameter (mol m™*)

K¥  propene oxide inhibition parameter (mol m™)

P propene oxide concentration (mol m *)

Py propene oxide concentration in the bulk liquid
(mol m™)

P propene oxide concentration at the gel surface (mol
™)

r radial distance from the centre of the particle (m)
8, propene concentration (mol m~3)
8, oxygen concentration fmol m™)
s* oxygen concentration at the gas—liquid interface
(mol m™)
Ss oxXygen conceniration at the gel surface (mol m™)
t time (s)
I propene consumption rate [gmol min™' (g dry
weight) ]
vz oxygen consumption rate [umol min™' (g dry
weight) ™ }
ve propene oxide consumption rate [umol min™' (g
dry weight)™ |
vp propene oxide production rate [umol min™ (g dry
weight)™ ]
maximum propene epoxidation rate [umol min™
(g dry weight) ']
m,2 mmaximum overall oxygen consumption rate [pmol
min™? (g dry weight)™ ]
X cell density (g dry weight (m® particle)™ |

o

-3 cell respiration parameter in equation (2)

B overail external oxygen mass transfer coefficient
(ms™)

Bp external propene oxide mass transfer coefficient
(ms™)

7 overall oxygen effectiveness factor
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6. FACILITATED MASS TRANSFER IN A
PACKED-BED IMMOBILIZED-CELL REACTOR
BY USING AN ORGANIC SOLVENT AS
SUBSTRATE RESERVOIR

Summary

The production of propene oxide from propene and oxygen by non—growing
Mycobacterium cells entrapped in calcium alginate was used to study the behaviour
of a packed-bed immobilized--cell reactor operated with an organic solvent as the
substrate reservoir. As a result of the high solubility of propene in the solvent used,
n—hexadecane, oxygen was considered the limiting substrate. Dilution of the
biocatalyst bed with small glass particles appeared necessary to attain a high
liquid/solid contacting efficiency between the hydrophilic gel particles and the
hydrophobic solvent. The bed dilution also avoided bed compaction and reduced
pressure drops. The use of an organic solvent as the transport medium prevented
oxygen depletion along the length of the packed-bed reactor. This eliminated the
need for a separate gas phase in the bioreactor. A mathematical reactor model was
developed to describe the combined effects of contacting pattern and external and
internal diffusion limitations on the intrinsic kinetics of the immobilized cells.
Experiments with the packed-bed immobilized—cell reactor were performed using an
aqueous solution or n—-hexadecane as the reaction medium. Predicted oxygen
conversions compared favourably to the observed values without the need for fitting
factors.

Keywords: packed-bed bioreactor, mass—transfer modelling, reactor design equation, immobilized cells,
organic substrate reservoir, alginate, propene epoxidation.

Introduction

The design of reactors containing immobilized enzymes or {non)viable cells is a
research field of growing importance in the biochemical-engineering discipline [1-5].
The usually-employed, aqueous reaction medium in immobilized-biocatalyst
reactors, with its inherent, low capacity for apolar and gaseous substrates/products,
has restricted severely the number of practical applications. The recent trend to use a
water—immiscible organic solvent as substrate and/or product reservoir in
bioconversions, however, may offer certain substantial advantages [6-11]. The high
concentrations of poorly water—soluble substrates (e.g. oxygen) and/or products,
which are possible in suitable organic solvents, could lead to enhanced mass—transfer
rates, decreased levels of substrate or product inhibition and facilitated product
recovery. Entrapment of the enzymes or cells in hydrophilic gels like agar(ose),
alginate, x—carrageenan and gelatin is one of the most widely used immobilization
techniques due to its convenience, mildness, reproducibility and versatility [12, 13].
In addition, the technique of gel entrapment permits a high cell loading and is suited
for scale—up [13, 14], an important consideration in case of pilot plant or industrial
applications. Consequently, the combined use of hydrophilic-gel entrapment as
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technique of immobilization and a water—immiscible organic solvent as a main
constituent of the reaction medium should have great potential. The fixed—bed
reactor, rather than the slurry reactor, would be a suitable configuration for this
organic—liquid—phase/immobilized-biocatalyst system. A well-defined suspension of
the hydrophilic particles in the hydrophobic solvent cannot be obtained. In a fixed
bed, however, the hydrophobic organic phase can be forced to flow through a
stationary bed of hydrophilic-gel particles, thereby continuously supplying the
substrate(s) and extracting the product(s). The feasibility of this process has been
demonstrated by Ter Meulen and Annokkee [15]. Similar approaches, though with
different immobilization techniques, were followed by Bell et al. [16] and Macrae
[17, 18], who used solid-phase lipolytic enzymes of Rhizopus arrhizus and inorganic
support materials coated with lipases, respectively, as the stationary biocatalyst
phases.

Dependent on the presence of a gas phase, and omitting gas—solid reactor
configurations, fixed—bed reactors can be divided into two categories: two—phase
fixed bed or packed bed (liquid—solid) and three—phase fixed bed or trickle bed
(gas-liquid—solid). It is generally believed, that trickle-bed bioreactors are required
if supply and/or removal of gaseous substrates (especially oxygen) and/or products
are important features of the immobilized-biocatalyst process [2, 4). However, when
using as the transport medium a suitable organic solvent with a high capacity for
gases, it should be possible to eliminate the gas phase in the bioreactor. This would
simplify the design and scale—up of the immobilized-biocatalyst reactor
considerably.

The chemical-engineering analysis of immobilized—enzyme and immobilized—cell
reactors has been reviewed by Vieth et al. [1] and Venkatasubramanian et al. [2],
respectively. The bioreactor performance was described by reactor design equations
incorporating the reaction kinetics, combined internal and external mass—transfer
limitations and reactor hydrodynamics (fluid—flow rate and contacting patterns).
From these reactor design equations the substrate conversion, reactor size, space
time and, finally, amount of immobilized biocatalyst can be optimized to give a
maximal reactor productivity. Vieth et al. {1] pointed out that experimental
validation of theoretical immobilized—enzyme reactor models is lacking. Since then
several studies have appeared in which theoretical design equations of fixed-bed
immobilized-biocatalyst reactors were verified with experimental
reactor-performance data. In many of these investigations, however, simplifying
assumptions were made or model parameters were estimated from the experimental
results. The mass—transfer limitations were assumed to be negligible by O’Neill et al.
[19], Saini and Vieth [20], Choi and Perlmutter [21], Cho et al. [22], Ching and Ho
[23] and Furui [24]. Only interparticle mass transfer was considered by Toda [25] and
Lee et al. [26]. Park et al. [27] also assumed no internaldiffusion limitation and
derived a Colburn—type mass~transfer correlation from the experimental substrate
conversions to describe the external—diffusion rate in a packed-bed immobilized—cell
reactor. Model parameters were also obtained from observed conversions in
packed-bed immobilized-enzyme reactors by Marrazzo et al. [28], Cabral et al, [29]
and Lortie and Thomas [30]. Interparticle and intraparticle—diffusion effects were
quantified separately by Kobayashi and Moo—Young [31] and also by Rovito and
Kittrell [32]. In two studies on ethanol fermentation in packed-bed
immobilized-viable—cell reactors, experimental performance data were used to
evaluate model parameters like specific growth rate, specific productivity and
ethanol-inhibition level [33, 34]. A true, experimental validation of fixed—bed
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immobilized—enzyme reactor models, including the combined effects of externai and
internal—diffusion limitations and a flow pattern model (e.g. plug flow), has been
given by Mercer and O’Driscoll [35], Tsukamoto et al. [36], Ooshima and Harano
[37] and Bihari [38]. However, to our knowledge, experimentally verified design
equations of fixed-bed immebilized-biocatalyst reactors operating with an organic
solvent as substrate/product reservoir have not been presented yet. The introduction
of an additional liquid phase in an immobilized-biocatalyst reactor system could in
theory complicate the design of these reactors [10].

In order to investigate the potential of an organic-liquid-phase/immobilized-
biocatalyst packed-bed reactor, the production of chiral propene oxide from
propene and oxygen by non—growing Mycobacterium cells entrapped in calcium
alginate [39, 40] has been used as the model. Several aspects concerning the use of
an organic solvent in this reaction system, particularly retention of immobilized—cell
activity, have already been examined in detail [11]. Moreover, it has been
experimentally verified that reliable predictions of the external and
internal—diffusion effects on the epoxidation kinetics of the immobilized cells can be
made [41, 42]. Furthermore, quantitative gas analysis [43] and the prediction of
thermodynamic and physical properties are facilitated as a result of the relatively
simple molecules involved in the epoxidation (propene, oxygen, propene oxide).
The selection of a packed-bed reactor has been favoured by the following
considerations [2]. As a result of the large difference in surface tension between the
hydrophobic solvent and the hydrophilic calcium alginate gel, it will be difficult to
suspend the particles evenly in the organic solvent. Therefore, a suffictent
organic-liquid/gel contacting efficiency will be easier obtained in a fixed-bed reactor
than in a slurry reactor. A large fraction of the reactor volume is occupied by the
biocatalyst in a fixed-bed reactor, thus high reactor productivities can be reached.
The epoxidation rate is severely inhibited even at low concentrations of the product
{42, 44], therefore a fixed bed (with limited backmixing) is kinetically favourable.
The reactor feed (solvent and dissolved substrates) is a clean liquid without any
particulate matter, thus clogging problems are not expected. Control of temperature
and pH are not critical, and there are no gaseous products. A major drawback of
employing a liquid/solid fixed—bed reactor could be depletion of the two gaseous
substrates along the length of the column. As mentioned, this may be overcome by
using an organic solvent, having a high solubility for the pertinent substrates, as the
reaction medium.

Epoxidation experiments were carried out in an organic-liquid-
phase/immobilized—cell tubular reactor with recycle of the solvent. Due to the high
solubility of propene in an organic solvent, oxygen was considered the limiting
substrate. The use of an organic phase as substrate reservoir prevented axial
depletion of oxygen and the need for an additional gas phase in the reactor.
Theoretical design equations for the packed-bed reactor, including combined
external and internal mass—transfer effects, with water or organic solvent as the
transport medium, were experimentally validated. )

Experimental
Chemicals and microorganism

The organic solvent used in the experiments, n—hexadecane, was of analytical grade
(> 99%) and purchased from Baker Chemicals. Propene and oxygen were of
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commercial purity and obtained from the Matheson company, East Rutherford, NY.
Alginate Industries, London, U.K. provided the support material, sodiurm alginate
(Manucol DM). A Mycobacterium strain E3 was used for the epoxidation reaction.
Microbial aspects of this strain have been described elsewhere [39].

Immobilization

Details of the procedure of immobilization in calcium alginate have been given
carlier [39] The average diameter of the spherical gel particles was determined by
microscopic measurement of about 50 bead diameters.

Packed—bed reactor system
A schematic representation of the experimental set—up is depicted in figure 1. The
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Fig. 1. Schematic diagram of the packed-bed reactor use (closed arrows: liquid flow, open arrows: gas
flow); (1) packed-bed bioreactor; (2) trickle-bed countercurrent—flow contactor packed with 6 mm glass
beads; (3) bubble—column with sulphuric~acid solution pH~1 to absorb and hydrolyse propene oxide; (4)
jacket for circulation of water of constant temperature (~30°C); (5) heat tape; (6) magnet drive gear
pump; (7) diaphragm pump; (8) two—position gas—sampling valve; (9} g.c. signal; (10) control signals; (11)
mass-flow controllers; P: pressure gauge; F: rotameter; TC: temperature measurement and control.

biocatalyst particles {average sizes: 0.7 + 0.1,1.0 £ 0.1,2.8 + 0.1 and

3.3 & 0.1 mm) were packed in a plexiglass column (internal diameter 2.9 cm, bed
heigth ~36 cm). The column was surrounded by a jacket to circulate water of
constant temperature (~30°C). The biocatalyst bed was diluted with small glass
beads (1.0 £ 0.2 mm) to reduce axial dispersion and to attain a high liquid/solid
contacting efficiency. Typical values for the volume fractions of calcium alginate and
glass are 0.05 and 0.6, respectively (void fraction ~0.35). The total amount of
gel-entrapped biocatalyst used in one experiment was mostly (.80 £ 0.02 g dry
weight of cells (1.58 * 0.02 g dry weight in case of the stagnant water film
experiments). A circulating gas stream, containing the two gaseous substrates,
oxygen and propene, was equilibrated with the liquid reaction medium (~350 cm?
aqueous 0.05 M calcium chloride solution or n-hexadecane) in a trickle-bed
countercurrent—flow contactor. The transport medium (aqueous or organic) with the
dissolved substrates was then passed upwards through the bioreactor column. The
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reactor—exit stream was compietely recycied to the gas/liquid contactor, where the
substrates were replenished. The concentration of produced propene oxide in the
different phases (gas, reaction medium, calcium alginate) was kept insignificantly
low by continuous hydrolysis of the epoxide in a sulphuric—acid solution pH~1
(removal from the circulating gas). It was experimentally verified that diffusion
and/or leakage of oxygen and propene into or out of the experimental system did not
interfere with the measurements. Propene and oxygen—consumption rates of the
gel-entrapped cells in the packed-bed reactor were measured by on-line gas
chromatographic analysis of the gaseous substrates in the circulating gas stream. The
details of the analysis have been described previously [43]. The concentrations of the
substrates in the organic or aqueous reactor—inlet stream, in equilibrium with the gas
phase, could then be calculated using Henry’s law [43]. The on-line gas
chromatograph is coupled to an integrator and a microcomputer. This enabled
automatic operation of the gas—sampling valve in conjunction with a
column—-switching valve [43, 45]. Besides data acquisition and reduction, the
coupling to the computer has also made it possible to control the concentrations of
the two substrates in the gas phase and, consequently, in the reactor—inlet stream by
computer—controlled addition of the gaseous substrates, Controlling both substrate
concentrations at a high, constant level is suited for measurement of e.g. the
operational stability of the biocatalyst (propene and oxygen concentrations in the
biocatalyst phase in equilibrium with the reactor—inlet stream: 160 and 245 pM,
respectively). Level control of propene only (propene concentration in the
biocatalyst phase in equilibrium with the reactor-inlet stream: 160 uM), and thus
allowing the oxygen level to drop, is used for examination of the effects of various
oxygen reactor—inlet concentrations on the volumetric oxygen—consumption rate and
on the degree of oxygen conversion under pseudo—one—substrate conditions (initial
total amount of oxygen 0.8 to 2.5 mmol, dependent on the volume of the gas phase).

Theoretical

The classical approach of chemical reaction engineering to formulate the reactor
design equations is the combination of microkinetics and macrokinetics.
Microkinetics involve the (bio)chemical and physical kinetics at the scale of the
particles, while macrokinetics concern the transport of e.g. mass at the scale of the
(bio)reactor. This procedure will be followed below. Furthermore, it will be assumed
that oxygen is the limiting substrate due to the high solubility of propene in an
organic solvent (relative to oxygen) [11] and due to the high concentrations of
propene employed in the measurements. The epoxidation rate of propene is
dependent on oxygen concentrations [42], thus a main design criteria is the
prevention of axial depletion of oxygen. The total oxygen consumption of the
immobilized cells is the sum of oxygen consumption due to epoxidation and
endogeneous respiration [42]. The cell respiration was found to obey
Michaelis-Menten kinetics and, furthermore, to be the main constituent of the
overall consumption of oxygen. Even in the presence of propene, Michaelis-Menten
kinetics could be used to describe the overall oxygen—consumption rate [41, 42].
Therefore, the immobilized—cell reactor was treated essentially as an
immaobilized—enzyme reactor [2).
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Microkinetics

The main, microkinetic transport processes that could restrict the intrinsic
oxygen—consumption of the gel-entrapped cells in the packed—bed reactor are
transfer of oxygen through organic and/or aqueous films around the biocatalyst
particles and, subsequently, coupled diffusion and reaction in the solid gel [45].
Transport of the formed propene oxide out of the biocatalyst and into the bulk liquid
will not be considered here in view of the low, experimental epoxide concentrations
applied. The theoretical oxygen—concentration profiles are dependent on the type of
bulk liquid: aqueous or organic (figure 2). In case of an organic solvent as the
continuous phase, an additional mass—transfer limitation in an aqueous film
(between the hydrophobic solvent film and the hydrophilic gel particle) may arise
(figure 2b). As this water film is not in contact with a (turbulent) aqueous bulk
phase, it will be referred to as ‘stagnant’ in this work. The aqueous and organic fitm
associated with the aqueous and organic bulk phase, figure 2a and 2b respectively,
will be referred to as ‘laminar’. The possibility of aqueous films around free cells or
insoluble biocatalysts in organic media has already been suggested (without
experimental prove) by Yamané et al. [46] and by Lilly and Woodley [10f,
respectively. It is assumed in figure 2, that no partitioning between the uncharged
substrate in the aqueous film and in the gel phase occurs.

The above mentioned external and internal mass—transfer limitations are usually
expressed in terms of an overall effectiveness of the biocatalyst, n. Thus, in case of
Michaelis—-Menten kinetics with intrinsic parameters VM and Kwm, the observed
oxygen—consumption rate, vo, can be written as:

vo =1 (S*) . VM. (S*/P)/ (KM + S*/P) (1)

with $* the oxygen concentration in the bulk liquid (aqueous or organic) and P the
partition coefficient of oxygen between the organic solvent and water (P =
SsoLvENT/SwATER; P mostly > 1]11); if the bulk liquid is an aqueous solution, the
value of P must be set equal to unity). The substrate—dependent overall effectiveness
factor, 1 (§*), can be obtained from the solution of the following, steady-state,
differential mass balance, describing coupled pore diffusion and reaction within the
spherical biocatalyst particle:

@S | 2dS . X VmS

De 2
¢ dr2 rdr Km+ S @
with the boundary conditions:
De dS/dr = ko (S*/P - Ss) atr=0.5de 3
dS/dr =0 atr=10 4

and the overall external mass—transfer coefficient ko:
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ko=ke,w (aqueous bulk liguid) (5)
ko = (1/(PkL.s) + 1/kw)-!  (organic bulk liquid) (6)

(e is the concentration—independent, effective diffusion coefficient of oxygen in
calcium alginate; r the radial distance from the centre of the particle; X the
homogeneous cell density; Ss the oxygen concentration at the gel surface; de the
particle diameter; ki, w and ki, s the liquid/solid mass—transfer coefficients in the
laminar water and solvent film, respectively; kw the mass—transfer coefficient in the
stagnant water film) _

In previous studies [41, 42] the diffusivity at 30°C of oxygen in water (~2.4 X 10~
m? s1 [47]) was successfully used as the effective diffusion coefficient of oxygen, De,
in the calcium alginate beads. The mass—transfer coefficients, ki, w and kL, s, can be
estimated from the Chilton—Colburn mass—transfer factor, Jo [48]. Rovito and
Kittrell [32] and Traher and Kittrell [50] demonstrated that the McCune—Withelm
Jo—correlation is a reliable prediction method for film diffusion in tubular
immobilized-enzyme reactors. The experimental data of McCune and Wilhelm [51]
have also been considered in an extensive review of experimental data on
particle—fluid mass transfer in fixed and fluidized beds [49], in which the following
equation for Ip was recommended:

e Jo = 0.765/Re?82 + ().365/Red-386 (7)
with:

Jo = (kw/U) Sc28 (8)

Re=pUdr/p (9)

Sc=p/(pD) (10)

(¢ is the void fraction of the biocatalyst bed; U the superficial fluid velocity; ki the
liguid/solid mass—transfer coefficient in the laminar film; p and p the density and
dynamic viscosity of the fluid, respectively; D the oxygen diffusion coefficient in the
laminar fluid film)
Equation 7 can be applied to estimate ki in case of an aqueous as well as an organic
bulk liquid. This relation was utilized successfuily by Tsukamoto et al. [36] to predict
external mass—transfer rates in a two—phase fixed-bed immobilized-enzyme reactor.
The mass—transfer resistance in the stagnant water film (figure 2b) is not a
laminar—film type resistance, thus equation 7 cannot be applied. However, it is likely
that molecular diffusion is the main mechanism of mass transfer in this stagnant
water film, hence kw can be related to the oxygen diffusion cocfficient in water, D,
and the diffusion layer thickness, 3, as follows:
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kw~D/38 (11)

or in dimensionless form:

Shw=kwdr/D ~dr/5 (12)

with Shw the Sherwood number relevant to the stagnant water film. As it is difficult
to quantify the water—film thickness, experiments have been performed to determine
whether this mass—transfer resistance has a significant effect on the overall
oxygen—consumption rate (i.e.: Shw < ~20[52]).

Solution of the differential mass balance (equation 2) with the boundary conditions
of equations 3 and 4 would yield the oxygen—concentration profile in the biocatalyst
bead, and from this the overall, stationary effectiveness factor, n [41]. As equation 2
cannot be solved analytically, the three—point collocation method [53-55] has been
successfully employed to obtain approximative solutions. The effectiveness of the
biocatalyst, i, can then be predicted as a function of the bulk concentration, S*, if
values for Vi, Kvm, X, dr, De, P (aqueous bulk liquid: P = 1), ¢, Re (aqueocus or
organic bulk liquid), Sc (aqueous or organic bulk liquid) and Shw (organic bulk
liquid) are available.

Macrokinetics and integral bioreactor model
Plug flow (PF) is an obvious postulation for the hydrodynamics of a packed-bed
bioreactor. This assumption was made in various experimental studies on
immobilized enzymes or cells in tubular reactors [20-22, 25-32, 34-38]. Recently,
Ching and Ho [23] concluded that the axial-dispersed plug—flow model was superior
to the two extreme models in contacting patterns, complete back—mix and plug flow,
in predicting the performance of the investigated packed and fluidized-bed
immobilized—enzyme reactors. This observation can be explained by the use of the
additional model parameter (the dispersion number). However, the differences
between the plug—flow model and the dispersion model (with the experimentally
determined dispersion number) were found only limited in case of the packed-bed
reactor due to the small degree of liquid dispersion in this reactor configuration.

A criterion for negligible axial dispersion in a packed-bed reactor was given by
Mears [56]:

L/de > (20n/Bop) In (Si*/S0*) (13)

(L is the bed length; n the order of the reaction (power-law kinetics); Bop the
Bodenstein number based on particle diameter (Bop = Ude/Da with Da the
axial-dispersion coefficient); Si* and So* the substrate concentrations in the inlet and
outlet of the reactor, respectively)

When this criterion is applied to the present system of investigation (merely glass
beads: dr ~1mm, Michaelis-Menten kinetics: 0 < n < 1}, and using a very low value
for Bop (~0.3 [57, 58]) and a high conversion {99%), it follows that the length of the
diluted biocatalyst bed, L, should be larger than ~0.3 m to avoid significant
dispersion effects (actual length 0.36 m).
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In view of the above stated, the plug—flow model is applied to prodict the
performance of the packed-bed immobilized—cell reactor used in this study. Hence,
assuming steady—state conditions, the oxygen concentration in the bulk liquid, S*, is
given by the following material balance: ‘

UdS*/dz + 2. ne. 0 (S*) . X . V. (S*/P)/{(Km + S§*/P)=0 (14)
with the boundary condition:
§* =8 atz=10 (15)

and with z the axial distance from the bottom of the biocatalyst bed, €a the volume
fraction of calcium alginate beads and nc the liquid/solid contacting etficiency. Radial
dispersion effects can usually be neglected in case of a reaction with low heat
generation carried out in an isothermal plug—flow reactor [2]. Wall effects are also
not expected in view of the high reactor diameter/particle diameter ratio (~30) [56].
Furthermore, the contacting effiency, ¢, is assumed to approach unity

considering the low alginate volume fraction, ea (~0.05). As mentioned earlier, the
biocatalyst effectiveness factor, n, can be calculated at any given bulk concentration,
§*. To facilitate the computational efforts, a third—order polynomial function was
used to express 1 explicitely as a function of $* [1}:

1 (S*) = by + by S* + ,8*2 + bsS*3 (16)

The parameters in this function, by, by, b; and b, are obtained by fitting equation 16
to about 20 calculated n, §*—data pairs (0 < §*/P < 245 uM). The third-order
polynomial gave a satisfactory fit of the calculated data. The resulting values are
valid for only one set of the following parameters: VM, Ku, X, dr, D¢, P, &, Re, Sc
and Shw. Equations 14 and 16 can now be integrated numerically {(Runge-Kutta) for
different values of the oxygen concentration in the reactor inlet, Si*, and reactor
space time, T = eL/U. This gives the concentration profile in the bulk liquid, $*(z)
(So® = §*(z = L)), the oxygen conversion, £ = (S8i* - So*)/Si*, and the volumetric
oxygen—consumption rate Ve = Si*Eg/1.

For comparison, the continuous stirred-tank reactor (CSTR) model would yield
the following oxygen balance:

(Si* —=So*™)1— (ea/e) . 1 (S0¥) . X . VM. (So*/P)/(Km + So*/P) =0 an

The oxygen concentration in the outlet of this bioreactor can be predicted by solving
equations 16 and 17 for So*.
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Results and discussion

Organic solvent

The organic reaction medium should meet many requirements. In this work
n-hexadecane is used as the substrate reservoir. This solvent does not give rise toa
significant decrease in immobilized—cell activity [11], and has a high selectivity for
propene oxide, a high normal boiling point (287°C), a limited flammability and a low
toxicity. In addition, its viscosity is not very high (u ~3.1 x 103 N s m2{59, 60],
30°C), and it has a large capacity (as most organic solvents have) for propene
compared to that of water. The capacity for oxygen is relatively small [11] (P ~5;
estimated from the solubilities of oxygen in water and in n-hexadecane [61, 62]). It
was experimentally observed, that n—hexadecane did not alter the intrinsic
Michaclis—Menten constant, Ku, of the overall oxygen consumpticn by the
immobilized cells (Km ~15 pM [41]). Other relevant properties of n-hexadecane,
necessary for modelling the bioreactor performance, are the density (773.3 kg m-3)
and the diffusivity of oxygen in this solvent (~1.6 x 10-% m? s-1 [63], 30°C).

Bed dilution

When dilution of the immobilized—biocatalyst bed with small glass beads was not
employed, the use of an organic solvent as substrate reservoir resulted in
considerably lower volumetric oxygen and propene—consumption rates as compared
to those of packed beds operated with an aqueous reaction medium (in the latter
case: 1 ~1 and & ~0, thus diffuston effects and substrate depletion do not affect the
reaction rate). Furthermore, substantial bed compression and increasing pressure
drops were observed. The differences in consumption rates did not occur (also with n
~1 and & ~0}, and less flow resistance was produced, when the bed was highly
diluted with glass beads (ga ~0.05, gg ~0.6). Thas, the above mentioned, decreased
consumption rates were most probably caused by a low contacting efficiency (e.g.
channeling) between the hydrophilic calcium alginate particles and the hydrophaobic
solvent. The bed dilution will also reduce any disadvantageous axial-dispersion
effects [64]. Comparable observations were made by Furui and Yamashita [65], who
equipped a packed-bed immobilized—cell reactor with horizontal baffles. This
avoided bed compression, reduced pressure drops and decreased liquid mixing. In
the present, fundamental study these low alginate fractions (~0.05) are used to
tacilitate the modelling of the experiments. It was observed, however, that higher
volume fractions (e.g. £a ~0.3) can be employed without significant problems.

Stagnant water film

The only, unknown parameter in the above described, theoretical bioreactor model
is the mass—transfer coefficient in the stagnant water film, kw or Shw. This
external—diffusion resistance might play a role of importance, if an organic solvent is
used as the reaction medium and the biocatalyst effectiveness factor is markedly
below unity. Packed-bed experiments were performed with n—hexadecane as the
oxygen and propene reservoir to determine the magnitude of Shw. The propene and
oxygen concentrations were held constant (in n—hexadecane; ~12 and 1.2 mM,
respectively; in the biocatalyst (water): 160 and 245 uM, respectively). Under these
conditions, oxygen can be considered the limiting substrate, as a result of the lower
immobilized—cell activity for propene compared to that for oxygen (oxygen
consumption is for a main part endogeneous respiration [42]}). Also, the substrate
conversions were kept insignificant by employing a low space time (t ~40 s). Thus,
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only microkinetic effects were measured.
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Fig. 3. Cumulative amount of oxygen consumed in a time—course packed-bed experiment with
n-hexadecane as the continuous phase showing the microkinetic effect of particle diameter (X ~ 130 x
103 g dry weight (m? particle)-', t ~ 40s); de (mm): 0.7 (0, §* = 1.2 mM), 0.7 (%, §* = 2.1 mM), 3.3 (O,
§* =1.2mM).

As observed before [41], increasing the diameter of the biocatalyst particles from
0.7 to 3.3 mm reduced the (oxygen} effectiveness factor of the catalyst in the
packed-bed reactor considerably (figure 3). The effectiveness factor appeared to be
about unity when the smaller particles were used, as an increase in the oxygen level
did not enhance the oxygen—consumption rate (nor, though not shown in figure 3,
the propene—consumption rate). Hence the intrinsic, maximal rate of the
immobilized cells, VM, as well as the decay of immobilized—cell activity could be
derived by fitting a suitable pelvnomial function to the data in figure 3 (dp ~0.7 mm;
1.2 mM oxygen) and, subsequently, by derivation of the thus calculated polynomial.
A fourth—-order polynomial gave a sufficiently good fit of the time—course data of
figure 3. Assuming values for Shw (10, 20, 100, 1000}, the theoretical biocatalyst
effectiveness of the larger particles (dp ~3.3 mm) could than be computed using the
found range of Vus—values. These predictions were compared to the corresponding,
experimental effectiveness factors, obtained by dividing the oxygen-consumption
rates of the large particles (extracted from figure 3 by fitting second-order
polynomials to sets of eleven points of measurement) by the diffusion—free rates of
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the small particles (figure 4). It follows that Shw ~1000 (i.e.: negligible resistance in
the stagnant water film} gives satisfactory results. Therefore, diffusion limitation in
this water film was ignored in the modelling of the combined effects of microkinetics
and macrokinetics in the following section.

1.0
.8

T L

~

m -

o)

Ll

=z

L

> -

-

}_

]

Lul

I—L L

I -

Lu -

i | ST SRN TR N TR U TR WO T T A N N TN TR W A B B
D. D | I [ N S T (Y N S |
2 3 4 1 5|
. =1 . -
VM (umol min "~ g dry weight™)

Fig. 4. Comparison between experimental (0) and predicted (Shw = 10: ——, Shw = 20: —=~, Shw =
100:= — =, Shw = 1000: - - .) effectiveness factors of the immobilized cells using the time—course data of
figure 3.

Reactor performance and model validation

The microkinetic and macrokinetic models were combined to predict the
performance of the packed-bed immobilized—cell reactor. These theoretical
predictions were tested by comparing with experimental, volumetric
oxygen—consumption rates and degrees of oxygen conversion using water (0.05 M
Ca(l, solution} or n-hexadecane as the reaction medium. Again,
pseudo—one—substrate conditions were applicable (with oxygen as the limiting
substrate), since the propene concentration was controlled at a high, constant level.
The total amount of unconverted oxygen in the experimental system (mainly present
in the gas phase) was allowed to drop with time. This gave the possibility to
determine experimentally both the volumetric oxygen—consumption rate, vrREXP, and
the degree of conversion, EEXF_ as a function of the oxygen concentration in the
reactor—inlet, S§i* (in equilibrium with the measured oxygen concentration in the
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circulating gas phase; in case of n-hexadecane the reactor-inlet concentrations are
higher as a result of the higher solubility of oxygen in this solvent). The volumetric
consumption rate was extracted from the measured time—course data (mmol oxygen
as a function of time) employing a fitting technique described before [41] (fitting
second—order polynomial functions to sets of five or seven points of measurement).
The experimental oxygen conversion is then computed as follows:

EEXP = yREXP T /(g Si*) (18)

The relative error in the oxygen conversion, AL/, is the sum of the estimated,
relative errors in vrEXP, t and Si* (A vrREXP ~-2.8 X 10-5 mol s-! (m? reactor)-!, At
~1.3x105g L/U2s and A §i* ~1.5 X P pM).

The packed-bed experiments (agueous or organic substrate reservoir) were
carried out with two different values for the diameter of the biocatalyst particles (1.0
and 2.8 mm, both with a standard deviation of 0.1 mm) and three or four different
reactor space times (table 1).

Table 1. Reaction conditions {reaction medium, particle
diameter, reactor space time) of the packed-bed

experiments.
reaction de T figure
medium {mm) (s) number
40 3a
200 5b
1.0
460 Sc
1290 5d
water
40 6a, 7a
220 6b, 7b
2.8
510 6c, 7c
1440 6d, 7d
40 8a
1.0 200 8b
. 430 8¢
organic solvent
40 9a
2.8 220 9b
960 9%

Microkinetic effects are not pronounced in case of the smaller particles, while both
microkinetics and macrokinetics play a role when the cells are immobilized in the
larger particles. The immobilized—cell density, X, was always ~70 x 10% g dry weight
(m? particle)-1. The intrinsic, maximal rates, Vm, of the immobilized cells used in the
experiments of table 1 vary between 1.4 and 2.6 pmol min-! (g dry weight)! as a
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result of a decay in immobilized—cell activity. Therefore, some care must be taken
when comparing the experiments mutually. The decrease in Vm during one
experiment, however, does not significantly influence the results (error in estimated
VM < 4%).
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Fig. 5. Experimental (o) and predicted (solid lines) oxygen conversions, £, in the packed-bed
immebilized—cell reactor versus the oxygen concentration in the reactor inlet, Si*, using an agueous
solution as the substrate reservoir (dr = 1.0 mm); t (s): 40 (A), 200 (B), 460 (C), 1290 (D); dotted lines:
estimated errors in experimental oxygen conversions.

With water as the reaction medium, axial depletion of oxygen, i.e. oxygen
conversions approaching unity, is a serious problem, especially if long space times
and low oxygen concentrations in the reactor—inlet stream are employed (figure 5).
This is somewhat less critical when the apparent biocatalyst activity is reduced by
using larger particles (dr ~2.8 mm; figure 6). A good agreement is seen between
theory (equations 14 to 16) and experiment at all values of particle diameter, space
time and reactor—inlet concentration. The theoretically predicted oxygen
conversions are mostly within the experimental errors of the observed oxygen
conversions.

The calculated and experimental results can also be presented as the
dimensionless, volumetric oxygen—consumption rate, ve/VM, g, plotted as a function
of the reactor—inlet concentration to show the relative influence of microkinetics and
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macrokinetics in case of large particles (figure 7). External and, especially, o
internal—diffusion limitation restricts the consumption rate at all oxygen levels in the
reactor-inlet stream (external effectiveness factor mostly larger than 0.7). As
demonstrated before [41], the various assumptions in the microkinetic model (mass
transfer in laminar (water) film (equation 7), effective diffusion coefficient,
Michaelis-Menten kinetics and KvM—value) seem to be reasonable. Macrokinetics
become significant when the longer reactor space times are used (figure 7¢ and 7d).
As was to be expected [23, 28], the plug—flow model (PF) gives a more adequate
description of the hydrodynamics of the packed-bed immobilized-cell reactor than
the CSTR model (figures 3¢, 5d, 6¢c and 6d). However, the differences between
these two models are smali at low conversions, see for instance figure 5c and 6¢.

The use of n—hexadecane as substrate carrier prevents depletion of oxygen along
the length of the column even at the longer reactor space times and the lower
reactor—inlet concentrations (figure 8 and 9; dp ~1.0 and 2.8 mm, respectively).
Even though the absolute amount converted is higher, the observed degrees of
oxygen conversion are all markedly lower than the corresponding oxygen
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conversions obtained with water as the reaction medium (figure 5 and 6), which is
the result of the higher inlet concentrations. For example, with a space time of 200 s,
the conversions are between ~0.3 and ~0.8 in case of an aqueous oxygen reservoir
(figure 5b), whereas values between ~0.1 and ~0.4 are measured when
n-hexadecane is used to supply the oxygen to the biocatalyst particles (figure 8b).
Also, with large particles and a space time of ~220s, the conversion ranges in case
of water and n-hexadecane are ~0.25 < £ < ~(.45 (figure 6b) and ~0.05 < & <
~0.1 (figure 9b), respectively. The lower oxygen conversions in case of an organic
solvent as the transport medium are very beneficial. Higher oxygen concentrations
will increase the propene—consumption rate and the epoxide—production rate
markedly [42]. The agreement between predicted and measured conversions is
satisfactory if a small particle size is used and diffusion limitation is not important
(figure 8). However, the theoretical conversions are always somewhat higher than
the observations in case of the experiments with effectiveness factors much lower
than unity (figure 9). This might be explained by irregularities in the contact
between the hydrophobic solvent and the hydrophilic gel. These effects would
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decrease the organic liquid/gel contacting efficiency, ne, and/or the biocatalyst
effectiveness factor, 1. A similar, disadvantageous effect in a packed-bed
immobilized-enzyme reactor (aqueous reaction medium) was reported by O’Neill
et al. [19]. The abserved differences between theory and experiment could also be
explained by a significant influence of the stagnant water film on the biocatalyst
effectiveness. As mentioned above, the diffusion limitation in this water film was
neglected (Shw >>> 20) in the modelling of the microkinetics. Low flow rates of the
solvent (high space times), however, might have induced thick, stagnant water films
around the biocatalyst particles and, thus, caused increased diffusion resistances,

The advantages of employing an organic substrate reservoir in the present system
of investigation might be even more pronounced when axial depletion of propene
would also occur. Further, higher volumetric oxygen-consumption rates could be
attained by using an organic solvent with an increased capacity for oxygen.
However, the choice of a solvent is limited, as many solvents were found to
inactivate the gel-entrapped cells [11]. Completely fluorinated hydrocarbons, with
their inert properties and their high capacity for oxygen, would provide an attractive
but expensive alternative for n—hexadecane.

Conclusions

The epoxidation of propene by Mycobacterium cells entrapped in calcium alginate
was used to investigate the potential of an organic-liquid-phase/immobilized—cell
reactor. The two—phase fixed-bed reactor, rather than the slurry reactor, proved to
be convenient for contacting the hydrophilic alginate particles with the hydrophobic
solvent, though dilution of the packed bed with inert particles turned out to be
necessary to achieve a high liquid/solid contacting efficiency. Microkinetic and
macrokinetic mass—transfer effects on the overail oxygen—consumption rate in the
packed-bed bioreactor could be reliably predicted using common chemical-
engineering principles. External diffusion of oxygen through a ‘stagnant’ water film
(between the hydrophobic solvent and the hydrophilic gel particle) appeared not to
be a rate-limiting step. The high solubility of the two gaseous substrates, oxygen and
propene, in the organic solvent used, n-hexadecane, prevented axial depletion of the
substrates and climinated the need for a separate gas phase in the reactor. The latter
will simplify the design and scale—up of the organic-liquid—phase/immobilized—cell
packed-bed reactor considerably.
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Nomenclature

be, b1, b2, bs
Bop
D
Da
D.
dr
Io
ke
ki,s
kL,w
kw
ko
Km
L

n

P

r

Re
S

Ss
S*
Si*
So*
Sc
Shw
u
VO
VM
VMR
VR
VREXP
X

Lol L - R

33
=

D JTg
m
k3
-

kinetic parameters in equation 16

Bodenstein number based on particle diameter {-)

oxygen diffusion coefficient in the laminar fluid film (m?s)
axial-dispersion coefficient (m?s-1)

effective diffusion coefficient of oxygen in calcium alginate {m?s)
particle diameter {m)

Chilton—Colburn mass—transfer factor (-)

liquid/solid mass-transfer coefficient in the laminar fluid film (m s}
liquid/solid mass—transfer coefficient in the laminar solvent film {m s-!)
liquid/solid mass—transfer coefficient in the laminar water film (m s1)
mass—transfer coefficient in the stagnant water film (m s-1)

overall external mass—transfer coefficient {m s-')

Michaelis-Menten constant of the overall oxygen consumption (mol m-2)
length of the diluted biocatalyst bed {m)

reaction order (-)

partition cocfficient of oxygen between the organic solvent and water ()
radial distance from the centre of the particle (m}

Reynolds number (-)

oxygen concentration (mol m=)

oxygen concentration at the gel surface {mol m=)

oxygen concentration in the bulk liquid (mol m-%)

oXygen concentration in the inlet of the reactor (mol m-3)

oxygen concentration in the outlet of the reactor (mol m—)

Schmidt number (<)

Sherwood number relevant to the stagnant water film (-}

superficial fluid velocity (m s™')

observed oxygen—consumption rate (pmol min-! (g dry weight) -*)
maximal oxygen-sonsumption rate (umol min! (g dry weight) 1)
volumetric, maximal oxygen—consumption rate {mol s (m? reactor)-')
volumetric oxygen-consutmption rate (mol s (m? reactor)')
experimental, volumetric oxygen—consumnption rate {mol s-! {m? reactor)-')
cell density (g dry weight (m? particle)-!)

axial distance from the bottom of the biocatalyst bed (m)

thickness of the stagnant water film (m)

erIor sign

void fraction of the biocatalyst bed or volume fraction of liquid in CSTR (-)
volume fraction of calcium alginate beads (-}

volume fraction of glass beads ()

overall effectiveness factor of the biocatalyst (-)

liquid/solid contacting efficiency (-)

dynamic viscosity of the fluid (N s m-2)

oxygen conversion (-}

experimental oxygen conversion {-)

density of the fluid (kg m-3)

reactor space time (s)
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I

7. PRODUCTION OF PROPENE OXIDE IN AN
ORGANIC-LIQUID-PHASE/IMMOBILIZED-CELL
REACTOR

Summary

Some major restrictions of the production of propene oxide in an
organic-liquid—phase/immobilized—cell packed-bed reactor were quantified, and
techniques were investigated to enhance the epoxide production rates.
Propenc—poxidizing Myobacterium cells were entrapped in calcium alginate gel and
contacted with the substrates, propene and oxygen, which were dissolved in a
continuous organic phase, n—hexadecane. The effects of product inhibition by the
toxic epoxide, microbial consumption of propene oxide and immobilized—cell
deactivation restricted severely the accumulation of the epoxide in the recirculation
reactor system and could be predicted using a simple, mathematical model. Epoxide
inhibition was reduced by absorbing the product in the gas phase in cold di-n—octyl
phthalate. The resulting increase in propene oxide production was in agreement with
model calculations. An alternating supply of propene and a co—substrate (ethene)
prolonged the half-live of the immobilized cells. Using 50 g dry weight of cells, 1.5 g
stereospecific propene oxide was produced in two days, of which 1.0 g was absorbed
in the di-n—octyl phthalate phase.

Introduction

The application of immobilized biocatalysts is all too often hampered by fundamental
restrictions such as kinetic limitations (e.g. substrate or product inhibition), external
and internal mass—transfer resistances, an unsufficient stability of the immobilized
biocatalyst, low solubility of substrate(s) and/or product(s) in water or in hydrophilic
support materials and an arduous product recovery from dilute, aqueous solutions.
Some of these problems, especially those associated with the use of an aqueous
reaction environment, can be averted by employing water—immiscible organic media
[1-4]. Some, like the mass—transfer limitations and the biocatalyst deactivation, are,
however, always likely to occur, independent whether the aqueous medium is
replaced by an organic one, or not.

An example that illustrates the above well is the production of propene oxide from
propene and oxygen by Mycobacterium cells entrapped in calcium alginate [5, 6].
The use of a suitable organic solvent [7] as the continuous phase in this reaction
system will lead to an enhanced capacity of the reaction medium for the two gaseous
substrates and to a corresponding, smaller chance of substrate depletion in a
packed-bed immobilized—cell reactor [8]. The situation that one can choose an
optimal reaction medium, e.g. a medium with a high boiling point to facilitate the
epoxide recovery, can also be considered as an advantage. No influence of the type
of reaction medium is, however, to be expected on the main mass-transfer limitation,
i.e. internal pore diffusion in the gel beads [9], as the low solubility of the substrates
in the hydrophilic calcium alginate will not change much. Immobilization in
hydrophobic, synthetic supports, as proposed by Fukui and Tanaka [10], is not
applicable for the present system of investigation, as this resulted in very low
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epoxidation activities [11]. Also, in view of the necessary, non—polar nature of the
organic solvent and the relatively high solubility of the epoxide in water [7],
replacement of (part of) the aqueous phase by an equal volume of water-immiscible
organic solvent will have only limited influence on the partitioning of the epoxide
between the various phases and, thus, on the inhibition by the polar propene oxide
(12]. Finally, the half-live of the immobilized biocatalyst, in contact with a suitable
(i.e. non—polar) solvent, is as low as that of the immobilized cells in an aqueous
environment (1 to 3 days).

In this study some major restrictions, not related to the type of reaction medium,
of the epoxide production in an organic-liquid-phase/immobilized—cell reactor are
quantified and techniques are investigated to avoid these problems. These
restrictions are kinetic limitations and operational stability. N-hexadecane is used as
the continuous organic phase. By comparing measured amounts of consumed
propene and accumulated propene oxide to the corresponding, theoretical values, it
is shown that the combined influences of product inhibition, microbtal epoxide
consumption and biocatalyst deactivation can be predicted with the use of a simple
model. Propene oxide levels were held low by absorption of the epoxide in a
di-n-octyl phthalate phase. This diminished the effect of product inhibition and thus
increased the production rate of the epoxide. The operational stability could be
improved by supplying the immobilized cells alternately with propene and a
co—substrate (ethene). By extracting the product into di-n—octyl phthalate, it
appeared possible to produce ~1.5 g chiral propene oxide in two days using ~50 g
dry weight of cells in a 1.7 dm’® organic-liquid-phase/immobilized—cell packed-bed
reactor.

Experimental

Chemicals

Di—n—octyl phthalate was purchased from Lamers and Indemans, Den Bosch, The
Netherlands, and was of analytical grade (99%). Baker Chemicals provided
n-hexadecane (analytical grade, > 99%). Ethene and propene were of commercial
purity and obtained from the Matheson company, East Rutherford, NY. The support
material, sodium alginate (Manucol DM), was purchased from Alginate Industries,
London, U.K.

Microorganism

The Mycobacterium strain E3 used for the epoxidation reaction was grown fed-batch
on ethene in mineral medium in a 2 dm? fermentor at 30°C and pH 7.0. Microbial
aspects of this strain have been described before [5].

Immobilization

The procedure of immobilization in calcium alginate has been published earlier [5].
It was determined microscopically that the average diameter of the spherical gel
beads was 0.7 (£ 0.1) mm.

Measurement of Kinetic Limitations and Deactivation Rate

The consumption rates of propene (or ethene) and oxygen and the accumulation
rates of propene oxide were measured in an organic-liquid-phase/immobilized—cell
packed-bed reactor (internal diameter 3.2 cm, bed height ~45 cm). Full details of
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this automated experimental set—up have been given previously [8, 13]. The reaction
medium (~350 cm? n-hexadecane and dissolved (co-)substrates) was forced to flow
upwards through the packed bed of immobilized—cell particles, and, subsequently,
equilibrated with a circulating gas phase in a trickle-bed contactor and recycled
completely. All temperatures were maintained at 30°C. The catalyst bed was diluted
with small glass beads (~1 mm) to achieve a high solvent/gel contacting efficiency
(alginate fraction ~0.3, glass bead fraction ~0.4) [8]. Varying amounts of
immobilized cells (1 to 10 g dry weight of cells) were used in the different experiment
types. If needed, the propene oxide concentration in the different phases (calcium
alginate, n—hexadecane, gas) was held negligible by continuous hydrolysis in a
sulphuric-acid solution. For that, the epoxide was removed from the circulating gas
phase by absorption in acid (pH~1, 30°C). The gas stream was led through a
di-n—octyl phthalate phase at 0°C instead if the influence of epoxide absorption in
this solvent on the epoxidation rate was to be examined. High circulation rates of
solvent and gas (~300 cm? hexadecane min-!, ~1500 cm? gas min-?} were applied to
simulate the characteristics of a well-stirred batch reactor. Furthermore, the
mass—transfer rates of the various gas/liquid and liquid/solid contacting processes
(gas/n-hexadecane, gas/sulphuric-acid solution, gas/di-n—octyl phthalate,
n-hexadecane/alginate) were sufficiently high to assure unretarded supply and
removal of reactants and products. For example, even trace amounts of propene
oxide could not be detected in case of epoxide hydrolysis in the sulphuric-acid
solution. Ethene, propene and oxygen—consumption rates and epoxide—production
rates of the gel-entrapped cells in the packed-bed were measured by on—line gas
chromatographic analysis of the gaseous (co-)substrates and the volatile product in
the circulating gas stream. To maintain high, constant levels of propene and oxygen
in the experimental system the gas chromatograph was coupled to an integrator and
a microcomputer. This enabled computer—controlled addition of these two substrates
(propene and oxygen concentrations in the biocatalyst phase: ~160 and ~245 uM,
respectively). Ethene (co—substrate) levels were allowed to drop with reaction time
(initial concentration in the gel phase ~150 uM). It was attempted to improve the
operational stability of the gel-entrapped cells by supplying alternately ethene and
propene (ethene on the first day, propene on the second, ethene again on the third,
etc.).

Propene Oxide Production

Experimental conditions deviating from the above mentioned were used in case of
the production of a practical amount of propene oxide (a few grammes). A larger
bioreactor was employed (internal diameter 6.2 cm, bed height ~355 cm), and ~50 g
dry weight of cells were immobilized in ~600 cm? calcium alginate (4%, w/v). About
1000 em? n-hexadecane was used to supply the substrates to and extract the product
from the immobilized cells. A large part of the formed epoxide was absorbed in
~1100 cm? di—n—octyl phthalate. The cells were supplied with propene during two
periods of two days with one ethene—regeneration interval of one day between these
periods. The optical activity of the absorbed propene oxide was determined by
complexation g.l.c. as described before [14].

Results and discussion

Modelling Epoxidation Kinetics and Deactivation Kinetics
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Supply of the two substrates (oxygen and alkene) to the gel-entrapped cells was
accomplished by forcing the organic solvent, n-hexadecane [8], with the dissolved
substrates to flow through a stagnant bed of calcium alginate gel particles. The
packed bed was mixed with glass particles to enhance the flow characteristics ot the
packed bed. In a separate step the circulating solvent was contacted with a gas
phase, also circulating, containing high, controlled levels of the two gaseous
substrates. In the work described here the circulation rates of solvent and gas were
sufficiently high to prevent macroscopic, spatial dependencies of the substrate and
product concentrations in the packed bed [8] and in the gas/liquid contactor. The
entire set—up can thus be considered to behave like a (recirculation) batch reactor
system with continuous feed of the two substrates.

Several limitations are likely to restrict the propene—consumption rate, dmy/dt,
and the epoxide—production rate, dme/dt, of the immobilized cells in the above
described reactor system. They can be related to the following phenomena: mass
transfer, epoxidation kinetics and deactivation kinetics. The main mass—transfer
effects are external diffusion of the two substrates from the organic bulk phase to the
gel surface and, more important, internal diffusion of the substrates in the biocatalyst
particles [9, 12]. As mentioned above, substrate depletion along the length of the
packed-bed reactor can be assumed not to occur [8]. The external and internal
diffusion limitations can be expressed by the Thiele effectiveness factor, 1, of the
biocatalyst, which is defined as the ratio of observed reaction rate to the
diffusion—free rate [9]. At zero—order reaction conditions the principal, kinetic
limitations are product inhibition and consumption of the formed propene oxide [12].
Deactivation of the immobilized cells may be ascribed to an inability of the cells to
maintain a constant level of NADH, which is a necessary co—factor for the
mono—oxygenase—catalyzed epoxidation of propene [15].

Assuming first—order deactivation kinetics and zero—order reaction kinetics, the
mentioned limitations can be described by a simple, mathematical model as follows:

dmi(t)/dt = n (t) XVoexp (—kot) / (1 + P(t)/Kp") )
dmp(t)/dt = dm(t)/dt — vc (2)
P(t) = f(me(t), yaLG, YHEX) (3)

with mi and mr the total amount of propene consumed and propene oxide
accumulated, respectively, X the amount of immobilized biocatalyst, Vo the initial
propene—consumption rate, ko the first-order deactivation parameter, P the propene
oxide concentration in the calcium alginate phase, Kr” the propene

oxide—inhibition parameter [12], vc the propene oxide-consumption rate [12] and y
the activity coefficient of propene oxide. Equation 3 relates the propene oxide
concentration in the biocatalyst phase, which determines the degree of product
inhibition, to the total amount of produced epoxide, mp, and to the relevant activity
coefficients (yaLc, yHEx). The full expression is derived in the appendix. The
propene—consumption activity will decrease with reaction time due to biocatalyst
deactivation and product inhibition (equation 1). Therefore, the effectiveness factor
will also vary with time: 1 (t=0) < n (t) =< 1. For simplification the reaction
conditions (particle diameter <0.9 mm, cell density <80 kg dry weight
(m3particle)-1, oxygen and propene concentrations (in alginate phase) ~245 and 160
UM, respectively, superficial velocity of solvent ~6 X 10-3 m s-1) were chosen such
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that E:xternal and internal diffusion effects can be assumed to be negligible (n(t=0)
~1) 8, 9].

The combined influence of epoxidation kinetics {(product inhibition and epoxide
consumption) and deactivation kinetics on the amount of consumed propene and
accumulated propene oxide can now be predicted by using equations 1to 3
(Runge-Kutta integration, n~1). These predictions were compared with the
corresponding, experimental values, measured in the packed-bed reactor, of
immobilized cells with an initial activity, Vo, of 2.9 pmol min-! (g dry weight)-! and a
deactivation parameter, kp, of 1.6 X 10~ min-! (half-live 3.0 days). The four
remaining model parameters (Kp”, vc, YALG~ yWAT, YHEX) were estimated from
literature data (Table 1). A good agreement was found between the calculated and

Table 1. Estimated values and literature source of model parameiers

parameter value unit reference no.
K»" 9.6 mM 12

v 0.15 X Vo umol min {g dry weight)! 12

yaLG (30°C) 17.6 - 13

yiEx (30°C}) 1.9 - 16

yonor (0°C) 0,95 - this work

observed values (Figure 1). Furthermore, it can be seen that the produced amount of
propene oxide {experimental and predicted) is considerably smaller than the

20

Propene / Propene oxide (mmol)

0 20 40 50 80 160
Time (R

Figure 1. Total amount in mmol of consumed propene and accumulated propene oxide in the
recirculation packed-bed reactor system versus time (no DnOP phase present); Vo = 2.9 pmol min-! (g
dry weight)!; X = 1,7 g dry weight; kp = 1.6 x 104 min''; measured quantities (O, propene; O, propene
oxide); model predictions ( }; caleulated values when only the effect of deactivation is considered (---).
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hypothetic maxium due to product inhibition and epoxide consumption. In the
following two sections techniques are discussed to increase the production rate of the
epoxide.

Product Inhibition
The effect of inhibition by the formed propene oxide can be diminished by avoiding
high epoxide concentrations in the biocatalyst phase. Distillation of the circulating
n-hexadecane (boiling point 287°C) stream is, in principle, suited for recovery of the
produced epoxide. However, continuous distillation in the present bench—scale
set—up appeared burdensome, and, therefore, an alternative epoxide-recovery
technique was chosen. In view of the very high volatility of propene oxide (boiling
point ~34°C), it appeared also possible to remove the product from the circulating
gas stream. In this work the propene oxide was absorbed in di-n—octyl phthalate
(DnOP) at a low temperature (0°C). DnOP was used in instead of n—hexadecane for
the following reasons. DnOP is one of the few organic solvents that do not show any
disadvantageous effects on the immobilized—cell activity [7] and, furthermore, has a
very low vapour pressure, which will facilitate a final epoxide/DnOP separation.
N-hexadecane cannot be applied for the epoxide absorption at 0°C, as this solvent
possesses a melting point of ~18°C. Absorption in n—~hexadecane at e.g. 25°C s less
suited, as in that case no advantage can be taken of the relatively low vapour
pressure of pure propene oxide at 0°C (see appendix). DnOP is not used as the
reaction medium in the packed-bed bioreactor in view of its high viscosity, which
could result in high pressure drops over the packed-bed and reduced mass—transfer
rates. Furthermore, in contrast to DnOP, n-hexadecane appeared to stabilize the
gel-entrapped cells to a small degree [11].

The presence of an additional DnOP phase will change the distribution of the
epoxide between the various phases in the batch-reactor system markedly (see
appendix):

P(t) = tf(mp(t), YALG, YHEX, YDnOP) 4)

The activity coefficient of propene oxide in the DnQOP phase was estimated from
independent vapour/liquid equilibria data (yonop (0°C) ~0.95). The negative
deviation from Raoult’s law (y <1) was also found in case of other, larger di-n—alkyl
phthalates, and can be explained by the formation of (weak) complexes between the
ester and the epoxide [17].

The effect of the absorption of the epoxide in a DnOP phase (300 cm3, 0°C) on the
propene consumption and the propene oxide production of the immobilized cells of
the previous section can be predicted using the above formulated model (equations
1,2 and 4) and the parameters in Table 1. Again, these predictions correlated
favourably to the corresponding, experimental values, albeit the observed amounts
of propene and epoxide are in this case somewhat lower than the calculated
quantities (Figure 2). From comparing Figure 1 and 2 it can be concluded that
absorption of the formed epoxide in DnOP enhances the amount of propene
consumed significantly as a result of the lower epoxide concentrations in the
biocatalyst phase. Even though at the end of the experiment the epoxide levels in the
alginate phase are now about twice as low (predicted levels in mM after 100 h: 16.8
without and 7.5 with absorption in DnOP), the total epoxide production is about
twice as high (experimental amounts in mmol after 100 h: ~4 without and ~7 with
absorption in DnOP). The main part (76%) of the produced propene oxide is
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absorbed in 300 ¢cm® DnOP (alginate gel 8%, n-hexadecane 15%, gas 1%). Larger
quantities of DnOP would result in even higher ‘extraction’ capacities.

Deactivation

The operational stability of free Mycobacterium cells (strain E3) is rather low. The
typical half-live of propene-epoxidizing, free cells is only 1to 3 days.
Immobilization in calcium alginate [13] or k—carrageenan (unpublished results) did
not result in a significant improvement of the stability. As mentioned above, energy
shortage (NADH) is thought to be the main cause of the instability of the cells.

20

Propene / Propene oxide (mmol)

20 40 50 80 100
Time (R

Figure 2. Total amount in mmol of consumed propene and accumulated propene oxide in the
recirculation packed-bed reactor system versus time (300 cm? DOP phase present); Vo = 2.9 umol min-!
(g dry weight)-'; X = 1.7 g dry weight; ko = 1.6 X 10~ min-!; measured quantities (O, propene; ©,
propene oxide)}; model predictions ( }; caleulated values when only the effect of deactivation is
considered (---).

Therefore, several more or less energy—rich co~substrates (e.g. acetate, ethyl
acetate, ethanol, ethene) have been tested on their usefullness as energy—suppliers
to cells of various Mycobacterium strains by Habets—Criitzen and de Bont [15]. 1t
appeared that supplying alternately ethene and propene is a promising technique to
maintain a high propene—epoxidation activity of free and immobilized cells. An
illustration of this finding for calcium alginate gel-entrapped cells (strain E3) in the
packed-bed reactor system is shown in Figure 3. The propene~epoxidation activities
of Figure 3 were extracted from the measured time—course data (mmol propene
consumed at various points of time) by fitting second—order polynomials to sets of 7
points of measurement and by taking the derivative of the thus derived polynomials.
The rates of propene consumption in the regeneration intervals are unknown, as only
ethene was supplied during these periods. Propene oxide levels were kept
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insignificantly low by hydrolysis in 2 sulphuric—acid solution. The half-live of the
immobilized cells is several times higher than that of cells without ethene as
co-substrate. The increase in overall volumetric productivity will, however, be less
remarkable, due to the necessary periods of cell regeneration with ethene as
co-substrate. The rate of ethene consumption was found to be about three times
higher than the propene—consumption rate.

A similar stability of the propene—-consumption rate was observed when the
produced epoxide was not removed completely by hydrolysis but absorbed in DnOP
(800 cm?). See Figure 4. The activities of Figure 4 were obtained by using the above
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Figure 3. Propene—consumption rates (D) of the immobilized cells in the recirculation reactor system
versus time; the formed epoxide is hydrolyzed; the cells are supplied alternately with propene and a
co-substrate (ethene); without regeneration of the cells with ethene (©).

mentioned fitting technigue. The relative amount of epoxide consumed appears
rather constant, which suggests that the deactivation rates of propene—epoxidation
and epoxide—consumption activities are comparable.

Propene Oxide Production

To investigate the possibilities of the production of larger quantities propene oxide
and also to obtain a practical amount of epoxide for determination of chemical and
physical properties (e.g. the optical activity [14]), about 50 g dry weight of cells
(initial activity 1.0 pmol min-1 (g dry weight)-!) were immobilized and contacted with
the dissolved substrates (oxygen and alkene) in a 1.7 dm? packed-bed reactor. The
formed propene oxide was absorbed in DnOP (1100 cm?). Model predictions, using
equations 1, 2 and 4, the parameters in Table 1 and an assumed value for ko equal to
that used above (1.6 x 10~ min!), provided again an acceptably accurate
description of the observed amount of consumed propene (Figure 5). However, a
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remarkable discrepancy was found between theory and experiment in case of
propene oxide production. A possible explanation might be given by the fact that the
used biocatalyst was composed of 11 different cell batches (each about 4 to 5 g dry
weight of cells), whereas the cells used in the experiments of Figure 1 and 2 both
originated from one cell batch. Different points of time of cell harvesting [18] and/or
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Figure 4. Propene—consumption rates () and propene oxide-accumulation rates (X) of the immaobilized
cells in the recirculation reactor system versus time; the formed epoxide is absorbed in DnOP; the cells are
supplied alternately with propene and a co—substrate (cthene).

tluctuating cell-growth conditions can change the cell kinetics significantly. For
example, the experimental results of Figure 5, both of propene and propene oxide,
could be described well with a higher epoxide consumption rate (~0.4 X Vo).

After two days about 1.5 g (~24 mmol) propene oxide was produced. It was
calculated that 66% (~1.0 g, ~16 mmol) was absorbed in 1100 cm? of DnOP
(alginate gel 19%, n—hexadecane 12%, gas 3%). These production rates are
comparable to that of 10 g dry weight of suspended cells of another strain (2W) in a
2.5 dm?fermentor (aqueous medium, acetate was used as a co-substrate) [14]. After
one day the produced amount of epoxide was in this case 1.5 g (absorbed in 7.5 dm?
tetrachloro methane, after distillation 0.65 gin 7 cm? tetrachloro methane). Ethene
was supplied to the immobilized cells during one day, after which the epoxide
production was repeated. The accumulated quantity of epoxide during two days
(~1.3 g, ~22 mmol) was only slightly smaller as compared to the first production
period, but the consumed amount of propene was, however, 20 to 30% lower.

The stereospecificity of the absorbed propene oxide, produced during the first
production period, was determined by complexation g.1.c. Mainly the R—form
appeared to be formed (enantiomeric purity 92 + 1%). In previous work a similar
purity was observed (93 & 1% R, strain E3) [14].
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Figure 5. Total amount in mmol of consumed propene and accumulated propene oxide in the
recirculation packed-bed reactor system versus tinte (1100 cm? DnOP phase present); Vo = 1.0 pmol
min-! (g dry weight)'; X = 50 g dry weight; ko = 1.6 X 10~ min-'; measured guantities (0, propene; ©,
propene oxide); model predictions { }; calculated values when only the effect of deactivation is
considered (---).

Conclusions

Propene oxide has a relatively high solubility in the used aqueous support material,
calcium alginate. Thus, rapid extraction of the inhibitory product into an organic
reaction medium, as a result of a high partition coefficient of the epoxide between
solvent and gel, will not occur. However, in this work it was shown that the
production of propene—epoxidizing, gel-entrapped cells in a recirculation
packed-bed reactor system could be enhanced by absorbing the toxic product in an
additional, cold DnOP phase. The operational stability of the immobilized cells could
be increased by supplying the cells with ethene as a co-substrate, but is still
unsufficient by industrial standard. Due to the low epoxidaton activity (1 to 3 pmol
min-! (g dry weight)-!), product inhibition, epoxide consumption and cell
deactivation, 50 g dry weight of cells in a 1.7 dm? packed-bed
organic-liquid-phase/immobilized—cell reactor were required to produce ~1.5 g
stereospecific propene oxide, of which two third was recovered in the DnOP phase.
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Nomenclature

DnOP di-n—octyl phthalate

ko first—order deactivation parameter (s!)

Ke" propene oxide—inhibition parameter (mol m2)

L number of moles of phase 1, 2 or 3 (mol)

mi total amount of propene consumed (mol)

me total amount of propene oxide accumulated (mol)

M molecular weight (g mol)

NADH  nicotinamide adenine dinucleotide

P propene oxide concentration in the calcium alginate gel phase (mol m-3)
Pr total pressure in the experimental system (Pa)

Peoo vapour pressure of pure propene oxide (Pa)

R gas constant (J mol-! K-1)

T temperature of the gas phase (K)

t time (s)

v number of moles of gas (mol)

Ve propene oxide—consumption rate (umol min-! (g dry weight)-1)

Vo initial propene—epoxidation activity of immobilized cells {(pmol min-! (g

dry weight)?)

X amount of immobilized biocatalyst (g dry weight)
X mole fraction of propene oxide in phase 1, 2 or 3
y mole fraction of propene oxide in the gas phase

v activity coefficient of propene oxide

n overall effectiveness factor

p specific gravity (kg m-3)

Subscripts

ALG calcium alginate phase

DnOP di-n—octyl phthalate phase
HEX n-hexadecane phase
WAT water phase

k phase k
1 phase 1
2 phase 2
3 phase 3
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Appendix

The closed recirculation reactor system consists of at most four different phases:
calcium alginate gel (1}, n-hexadecane (2), DnOP (3) and a gas phase. The alginate
phase (4%, w/v) will be treated here as a water phase (yALG ~ ywar). In view of the
high circulation rates of n~hexadecane and gas, it can be assumed that phase 1 and 2
and the gas phase are in thermodynamic equilibrium at 30°C, DnQP is in equilibrium
with the gas at 0°C and, finally, there are uniform propene oxide mole fractions in
the solid, liquid and gaseous phases (xi, x;, X3, and y}. The total amount of produced
epoxide (mp) is distributed among the three or four (the latter in case of absorption
in DnOP) phases present in the experimental set—up. This can be expressed
mathematically in the following propene oxide balance:

X1L1 + X2L2 + X3L3 + yV = mp (A—l)

with Lk the number of moles of phase k and V the number of moies of gas. Assuming
ideal gas—phase behaviour (Pt = 105 Pa), the following two equations can be used to
describe the phase equilibria between phase 1 and 2 and the gas phase:
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v:1(30°C) %, Pro®(30°C) = y Pt (A-2)
v2(30°C) x; Peo®(30°C) = y P1 (A-3)
Similarly, the equilibrium between phase 3 and the gas phase is characterized by:

¥3(0°C) x3 Pro®(0°C) = y P1 (A-4)

In addition to the temperature dependency, the activity coefficients in equations A-2
to A—4 are also functions of the epoxide mole fractions of the pertinent phases.
However, at low concentrations, vy, was found not to be dependent on the mole
fraction in the aqueous phase (y; ~ 17.6forx; <3 x 10~ or P < 17 mM [13]). Tt is
assumed here that y; and v; (both much nearer to unity than v,) can also be
considered not to be related to x; and x;, respectively. The mole fraction of propene
oxide in the immobilized—cell phase, x;, can be obtained by rearranging equations
A-1to A4:

HBIO) | | HBIO) Pr’30°C) | p(B0°C)Pro’(30°C) vy

x; =mp(lL; +
1= me(Ly 12(30°C) ° 1(0FQ)Pr°(0°C) Pr (A=5)

The following numerical values were applied in this work: Pt = 10° Pa, Pro°(30°C)
and Pro° (0°C) about 0.857 x 105 and 0.241 x 105 Pa [19), respectively, Lk = (cm3 of
phase k) X p/Mk mol, p;, p; and p; equal to 1, 0.77331 and 0.985 g cm3,
respectively, M;, M; and M; equal to 18, 226.45 and 390.54 g mol-1, respectively, V
= (m? of gas) X P1/(RT) mol, Pr = 10° Pa, R = 8.314 J mol-! K-! and T = 303.15 K.
The gas volume of the experimental set—up was about 1.5 X 10~ m? (1.5 x 102 m*in
case of the propene oxide production with 50 g dry weight of cells). The epoxide
concentration in the biocatalyst phase, P, is easily calculated as follows:

P =10p; x; / (M (1-x,)) (A—6)

with P in mM. Equations A-5 and A-6 can also be used to estimate the product
concentration in the biocatalyst phase if the epoxide is not absorbed in DnOP (i.e. L;
= (}in equation A-5).
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8. DISCUSSION

8.1 Microbial Propene Epoxidation as Model Reaction

The specific epoxidation activity of the mono—oxygenase of freely suspended (or
gel-entrapped) Mycobacteria is very low. This can be comprehended, when
propene—consumption rates of suspensions of resting, ethene—grown cells (~0.01 to
0.03 umol min-! (mg cell protein)-! [1]), are compared to typical specific activities of
enzymes (1 to 10* pmol min—! (mg protein)! [2]). The inadequate activity is one of
the main reasons for the unfavourable economics of the microbial epoxidation
process under investigation. Other factors are the low stability of the biocatalyst
(chapter 7), the narrow cost difference between substrate and product (though
higher in case of stereospecific propene oxide) and, finally, the existence of
established, chemical epoxidation routes (section 1.4). The latter probably also have
played a role in the decision to abandon the multi-enzyme process for alkene
epoxidation (see references 63 en 64 in chapter 1) developed to pilot—plant scale by
Cetus Corporation [3].

The low cell activity is also an explanation for the observation that the measured,
volumetric epoxide productivity by classical fermentation (~0.4 mol m~ h-1 [4]),
using suspended cells in an aqueous reaction medium, is comparable to that of a
‘high-tech’ reactor as described in chapters 6 and 7 (~0.3 mol m= h-!, chapter 7),
using immobilized cells in a packed-bed bioreactor and an organic solvent as
substrate and product reservoir. The disappointing performance of the latter reactor
type is illustrated in Figure 1, which is adopted from Cooney [5]. The volumetric

Qp '
4 |

Figure 1, Volumetric epoxide productivity. Qr, as a function of the biocatalyst concentration, X, for two
values of the specific epoxidation activity, Vu, of the biocatalyst (low (1) and high (2)); mass—transfer
limitations: fermentor (3), packed-bed organic-liquid-phase/immobilized—cell reactor (4); see text for
discussion, '
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epoxide productivity, Op, is given as a function of the biocatalyst concentration, X,
for two values, low (1} and high (2), of the specific epoxidation activity, VM, of the
biocatalyst. The vertical dashed line represents the maximal catalyst concentration,
while the horizontal lines represent the mass—transfer restrictions to production rates
of the two bioreactor types (fermentation (3) and the packed--bed reacter used in this
work (4)). The lines are arbitrarily chosen. Due to the present low cell activities (1),
mass~transfer rates in both reactor types (3 and 4) are not constraining the epoxide
production even with cell concentrations (in suspension or in alginate beads) close to
the maximal value. Only when large gel particles (2 to 3 mm) in combination with
low substrate concentrations (<<~100 uM in gel phase) are employed, internal
diffusion in the immobilized—cell particles (chapters 4, 5 and 6) becomes manifest
(i.e. line 4 is so far lowered that is crosses line 1). Therefore, conventional
fermentation would be the most economical process scheme (though still
unattractive, see above), especially as the product, propene oxide, is volatile enough
to be stripped out of the cell suspension by the propene/air mixture. The latter would
facilitate recovery of the epoxide and reduce product inhibition. Fermentation with
immobilized cells may be applied as a possible way to increase the maximal cell
concentration, XMAX_and, thus, the productivity [6, 7). However, besides prolonging
the half-live of the cells (chapter 7, [8]), enhancing the epoxidation activity of the
cells would be the most rational procedure to attain higher productivities (1—2). The
use of an organic solvent as substrate reservoir might in that case become essential
for sufficient supply of the sparingly water—soluble substrates to the (immobilized)
cells and, accordingly, to improve the productivity of the epoxide (24+3—2+4).

The above-mentioned considerations of the low cell activity do not automatically
imply that the epoxidation of propene by Mycobacterium cells is not suited for use in
a fundamental study of the application of water-immiscible organic solvents in
biotechnological processes. Several basic concepts of
organic-liquid—phase/immobilized—cell systems, like choice of solvent type,
modelling of mass—transter to and in the support material and design of a
packed-bed organic-liquid—phase bioreactor, have been worked out, using
substrate—consumption and epoxide—production data. The found principles and
proposed diffusion and reactor models are believed to be useful for a broad range of
bioconversions in biphasic media. In the next paragraphs a discussion of these
phenomena will be presented.

8.2 Choice of the Organic Solvent

The simple question: ‘which solvent should be used in two-liquid—phase biocatalysis’
requires a not so simple answer. Many conflicting, experimental findings have been
reported. For example, for the conversion of cholesterol to cholestenone by
Nocardia cells toluene proved to be superior to ¢.g. cyclohexane and chloroform [9],
while toluene was found to be poisonous for the ‘Methanobac’ cells used by Playne
and Smith [10] and also for the Mycobacteria used in this work (chapter 3). Further,
application of tetrachloromethane did not affect the activity of a dehydrogenase
enzyme [11] and resulted in reasonable rates of cholesterol oxidation by Nocardia
cells [9, 121, but gave a low activity in case of propene—epoxidizing cells {chapter 3)
and also in case of epoxidation by Pseudomonas putida cells [13]. In the latter
investigation cyclohexane was found to be the optimal solvent. Part of these
apparently contradictory results may be understood, if it is recognized, that solvent
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effects can be divided in two groups:

— effects related to inhibition and/or denaturation of the enzyme or of enzyme
systems (in case of whole cells solvent effects on cell organelles, notably leakage of
membranes, could also be important)

— effects related to the solubilities of substrates and products in the solvent and to the
partitioning of these compounds between the phases of interest

Thus, a solvent reported to be biocompatible could still lead to low productivities, if
the solvent capacity for substrates and/or products is unsufficient. As an illustration,
Cremonesi et al. [11] observed that n—-hexane did not decrease activity and stability
of a dehydrogenase enzyme used for the reduction of cortisone. However, due to the
low solubility of cortisone in n-hexane, the conversion was found to be very low. In
contrast, the use of ethyl acetate and butyl acetate resulted in lower activities and
stabilities, but yielded the highest conversions, as a result of the high substrate
solubtlities in these two solvents. From the above, it can be concluded that many
factors affect the choice of the organic selvent and that experimental testing of a
series of possibly suitable solvents remains necessary. However, general rules for
solvent optimization would be very helpful to facilitate this laborious work.

Some correlations between biocatalyst activities in biphasic systems and solvent
propertics have been reported. Duarte and Lilly [12] found that the rate of
cholesterol oxidase by non—growing cells seemed to be influenced by the solubility in
water of the solvents tested (ethers and chloro derivatives of methane and cthane),
but no clear relation emerged. A weak correlation between the solvent solubility in
water and activity retention was also noted in this work (chapter 3). Mostly,
however, some measure for the polarity of the solvent has been used. Omata et al.
[14] could relate high steroid-transformation activities of free Nocardia cells to low
values of the dielectric constant of the employed organic solvents. In this work the
Hildebrand solubility parameter, 8, of the solvent, in combination with the molecular
weight, was successfully used to explain not only the measured differences in
propene—epoxidation activities of the immobilized cells, but also the comprehensive
results of Playne and Smith [10] (chapter 3). Low polarities (8<.~8) and high
molecular weights (M >~200) were favorable for a high retention of cell activity.
Laane et al. [15] recently showed, however, that the logarithm of the partition
coefficient, logP, of a given solvent in the standard octanol-water two-—phase system
is a more accurate parameter for the polarity than 8, especially for apolar solvents.
High values of the epoxidation activities of immobilized Mycobacterium cells and of
the gas production rates of free ‘Methanobac’ cells [10], both used in chapter 3,
clearly related to high logP—values (low polarity, logP > 4). In this case the
molecular weight of the solvent appeared not necessary.

The polarity of the organic solvent, preferably expressed by the logP parameter,
is, thus, suited to make a first selection from the vast list of possible solvents.
Non-polar solvents generally are more biocompatible than more polar solvents.
However, as discussed above, biocompatibility is not the only determining factor.
The capacity of the solvent to dissolve substrates and products is also of importance.
The polarity can also in this case be used to facilitate the choice of an optimal
solvent, as the solubility of a compound in an organic solvent can often be related to
the polarity of that solvent (chapter 3). Optimization of the solvent polarity will be
likely, as a high solvent capacity may well conflict with biocompatibility
requirements. For example, many common solvents, known for their high extraction
capacities, like 1-hexanol, chloroform, benzene, toluene, tetrachloromethane and
diisopropylether, may lead to low retentions of biocatalytic activity, as these solvents
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all possess more or less polar characteristics (logP values < 2.8 [16], & values = 8.6,
except diisopropylether: § = 7.1). Rules for the optimization of solvent polarity were
recently given by Laane et al. [16}. The polarity of the interphase between
biocatalyst and the organic solvent was also considered. The authors argued that in
general an optimal situationt would be approached, when the solvent polarity
(expressed by logP) was close to the polarity of the product, while the difference
between solvent and substrate polarity should be as large as possible. For
biocompatibility the logP value of the solvent must, however, be larger than 2,
preferably 4. Furthermore, for the polarity of the interphase these rules are the other
way round: interphase polarity close to substrate polarity and a large difference
between interphase and product polarity. These rules were supported by
experimental measurements of enzymatic reaction rates in a reversed—micelle
system.

The following two comments can be made with respect to the work of Laane et al.
[16]. Firstly, enhancement of the difference in polarity between organic solvent and
substrate could in certain cases increase the partition coefficient of the substrate
between the interphase and the organic solvent phase and, hence, would lead to
higher substrate concentrations near the biocatalyst in the interphase (see Figure 2).
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Figure 2. Substrate concentration in the interphase (Cs, in) versus substrate concentration in the organic
solvent phase (Cs, o). Effect of solvent polarity on partitioning of a (non—polar) substrate between the
interphase and the solvent; 1: small difference between substrate and solvent polarity, 2: large difference
between substrate and solvent polarity; substrate miscible in all proportions with interphase ( ),
substrate with a limited solubility in an aqueous interphase (---).
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A similar phenomenon was observed by Omata et al. [14], who found that increasing
the solvent polarity facilitated the permeability of hydrophobic compoundsin a
hydrophilic gel. In many biphasic, biocatalytic conversions, however, the interphase
will be water or a hydrophilic phase (see e.g. Figure 2 in chapter 1). The
concentration of a non—polar substrate in an aqueous interphase will often be mainly
determined by the maximal, usually very low solubility of that compound in water
(Figure 2), and hardly by the polarity of the water-immiscible solvent adjacent to
the interphase. Maximizing the difference between solvent and substrate polarity
would in that case be irrelevant. Furthermore, the polarity of the interphase in a
reversed—micelle system is relatively easy to adopt by varying surfactants and
cosurfactants. In case of an aqueous interphase the possibilities of changing the
polarity of the microenvironment of the biocatalyst are, however, limited.

Secondly, one should not only consider partitioning of the substrate between the
solvent and the interphase, but also the absolute substrate concentration possible in
the solvent, which will determine the storage capacity of the solvent for the reactant.
High substrate concentrations in the solvent are in this respect desirable for
minimizing the volume of the reaction mixture. The latter could conflict with the
above proposed rule of maximizing the difference in polarity between solvent and
substrate.

8.3 Hydrophilic versus Hydrophobic Matrices

The propene—epoxidizing cells used in this work were entrapped in calcium alginate,
a hydrophilic gel. This natural support, a linear copolymer of D-mannuronic acid
and L—guluronic acid, is one of the most widely employed materials to immobilize
(high-molecular weight) enzymes and cells [17]. It can be considered as a typical
example of the broad class of hydrophilic gels, to which agar, agarose, collagen,
chitosan, k—carrageenan, gelatin and some acrylic copolymers also belong. The
propene—consumption rate and epoxide—accumulation rate of the Mycobacterium
cells in calcium alginate strongly resembled that of the x—carrageenan gel-entrapped
cells (chapter 3). Apart from many advantages (see below), immobilization in
alginate (or more general in hydrophilic carriers) possesses one significant drawback:
the solubility of reactants in the gel is of the same order of magnitude as that in
water. Especially for sparingly water—soluble substrates, this could lead to a serious
internal mass—transfer limitation in hydrophilic beads. Decreasing the size of the gel
particles is only of limited use, as particle diameters smaller than about 0.5 mm are
difficult to produce and will cause operating problems in large—scale reactors. The
effects of mass transfer were quantified in chapters 4 and 5. Despite the low
epoxidation activities, internal diffusion could limit the reaction rate, if large
particles were used (2 to 3 mm).

In principle, the problem of low solubility of apolar compounds in hydrophilic gels
could be avoided by employing more hydrophobic supports. This was achieved by
Fukui and Tanaka [18], who developed methods for entrapping biocatalysts in
synthetic gels of different degrees of hydrophilicity/hydrophobicity (e.g.
photo—cross—linkable resin prepolymers and urethane prepolymers). These authors
demonstrated the feasibility of this approach for converting non—polar compounds in
various organic—liquid—phase/immobilized-biocatalyst systems. It was shown that the
reaction rate of prepolymer—entrapped biocatalysts could be enhanced by using
more hydrophobic gels. This increase could be related to higher partition coefficients
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of the substrates between the gel and the solvent. The work of Fukui and Tanaka
thus corresponds to the in the previous section mentioned optimization rules
suggested by Laane et al. [16], who proposed matching the interphase (in this case
gel} polarity to the substrate polarity. Propene—epoxidation experiments were also
carried out with Mycobacterium cells immobilized in a hydrophobic urethane
prepolymer (PU-3). The by Omata et al. {19] described procedure of immobilization
was followed. The half-live of the cells in PU-3 (~2 h) appeared much lower than
that of alginate gel-entrapped cells (~2 days) [20]. Therefore, prepolymer methods
were not applied in the work described in this thesis. In general, however,
entrapment in hydrophobic gels seems to be a very promising technique, especially
for the conversion of non—polar reactants. Below the pros and cons of hydrophilic
and hydrophobic matrices will be examined in more detail.

The two types of biocatalyst entrapment, hydrophilic gels and hydrophobic gels
(especially the prepolymer methods proposed by Fukui and Tanaka [18]), are
compared in Table 1. Emphasis is placed on the use of these gels in water/organic
solvent biphasic systems.

Table 1. Characteristics of hydrophilic and hydrophobic gels. See
text for discussion

hydrophilic hydrophobic

biocompatibility of support ++ +/-
material

convenience ++ —(?}
protection against harmful ++ -
solvent effects

solubility of non—polar -- ++
substrates

effective diffusion + ?
coefficients

modelling of mass—transfer ++ -7
effects

use in sluery reactors - +
use in fixed-bed reactors +/— +(7)

Biocompatibility of support material

Hydrophilic gels are often isolated from natural materials (e.g. marine algae). This,
the high water content (high water activity) and the mild immobilization procedure
could explain why so many biocatalyst have been successfully immobilized in these
gels. The entrapment of Mycobacterium cells in calcium alginate and in
k—carrageenan also resulted in almost no activity loss (chapter 3}. In contrast,
hydrophobic materials are often synthetic and usually contain less water. Thus, it can
be expected that the number of biocatalysts, that can be entrapped in hydrophobic
matrices with high retention of activity, is significantly smaller than in the case of
hydrophilic supports.
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Convenience

The technique of immobilization in hydrophilic gels is usually very convenient. Only
practical experience can make this fully understood. The procedure is mild, flexible,
reproducible and permits a high loading of biocatalyst. If desired for modelling
purposes, the shape of the particles can be made almost spherical. Also, succesful
scale—up techniques of the immobilization process have been reported (21, 22, 22a].
Thus, if needed, larger quantities of immobilized biocatalyst can be produced.
Scale—up methods for hydrophobic gels have not been developed yet. Furthermore,
the gels prepared by prepolymer methods are usually cut into (cubic) particles. This
makes modelling inconvenient and excludes the use of very small particles

(< 1 mm).

Protection against harmful solvent effects

The employed water-immiscible solvent may inactivate the biocatalyst and interfere
with the mechanical and/or chemical stability of the support material. In case of
hydrophilic gels these effects will be minimized as a result of the low solvent
concentration in the aqueous gel. For hydrophobic gels the situation could be
different. Like the solubility of a non—polar substrate, the solvent solubility in the gel
is probably also relatively high, thereby increasing the risk of damage to the
biocatalyst or to the carrier.

Solubility of non—polar substrates

As discussed already above, the characteristic advantage of hydrophobic gels is their
high capacity for water—insolubie substrates. The gel hydrophobicity can even be
adopted to that of the substrate to be converted. This could reduce any
internal—diffusion limitations, often found when using aqueous gels (chapters 4 and
5). The picture becomes, however, more complicated if the product concentration in
the gel is also determining the production rate (e.g. product inhibition). In case of
apolar products, a large difference in polarity between gel and product [16] would be
easier achieved with hydrophilic gels.

Effective diffusion coefficient

The degree of internal-diffusion limitation is also determined by the effective
diffusivities of substrates and products in the support material. The availability of
accurate estimates for effective diffusion coefficients is, thus, of importance for the
design of immobilized-biocatalyst reactors. Apparently, this observation has become
more recognized in recent years, as the number of papers dealing with the
determination of effective diffusion coefficients is steadily growing. A general trend
in the findings of these reports is that effective diffusion coefficients of
low—molecular weight compounds (e.g. oxygen, ethanol and glucose) in hydrophilic
gels (often 1 to 4% calcium alginate) are usually not much lower than the
corresponding diffusion coefficients in water [23-26]. This observation was used in
the modelling of (internal) diffusion effects on the epoxidation kinetics of the
alginate—entrapped cells (chapters 4 and 5). From the agreement between predicted
and experimental substrate—consumption rates, it was among others concluded that
the assumed effective diffusion coefficients were reasonably accurate. Not only the
relatively high value of the effective diffusion coefficient in hydrophilic matrices, but
also the fact that rather reliable estimates are available for this case, can be
considered as additional advantages of using hydrophilic gels. For hydrophobic gels
values for effective diffusion coefficients seem not to be available yet.
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Modelling of mass—transfer effecis

In chapters 4 and 5 it was shown that modelling of coupled reaction and diffusion
_phenomena in calcium alginate beads is relatively straightforward. Other, similar
examples, using hydrophilic gels as the support material, have been reported (e.g.
see references 14, 19, 20 to 24 in chapter 4). Again, little is known with respect to
“the description of reaction and diffusion in hydrophobic gels. The fact that spherical
particles cannot easily be obtained seems to be a drawback.

Use in slurry reactors

Like the bulk of described two-liquid—phase biocatalytic reactions, bioconversions in
biphasic systems using biocatalysts entrapped in hydrophilic gels are often carried
out in small, shaken or stirred laboratory vessels (e.g. [27]). Accordingly, little is
known about the hydrodynamics of these systems, especially about how to obtain a
well-defined suspension of the hydrophilic beads in a hydrophobic solvent in case of
class B2 and C3 systems (Figure 2, chapter 1). If special measures are not taken,

e.g. coating of the gel particles with a hydrophobic substance, the creation of a
sufficient solvent/gel contacting etficiency may be very cumbersome as a result of the
high surface tension between particles and solvent. For this reason, we employed a
fixed bed to contact the alginate beads with the solvent, n-hexadecane, as described
in chapter 6. Surface tensions between beads and solvent will be lower in case of
entrapment in a hydrophobic matrix. This probably makes slurry reactors easier to
Ooperate.

Use in fixed—bed reactors

It is well-known that the compressibility of hydrophilic—gel materials is often high.
This could lead to poor flow properties and high pressure drops, in case these gels
are used as the packing material in fixed-bed reactors of a technical scale [28]. The
rigidity of the particles may be enhanced by increasing the concentration of the
support material or by partial shrinkage of the particles by gel drying [29], but in
these cases lower values for effective diffusion coefficients can be cxpected. As
reported in chapter 6, mixing of the alginate particles with small glass beads had to
be used to improve the contacting efficiency between the alginate gel and the solvent
and to prevent bed compaction. Few data exist concerning the flow characteristics of
fixed beds of hydrophobic particles. The situation does not seem to be fundamentally
different with respect to bed compaction. The lower surface tensions may, however,
improve the contacting efficiency between the hydrophobic particles and the organic
solvent.

From Table 1 it can be concluded that, if the solubility of a non—polar substrate in
the gel material is severely limiting the conversion rate and/or a slurry reactor is
essential, hydrophobic gels should be carefully considered when choosing the
technique of immobilization. In case the other aspects of Table 1 ate also of
importance, the use of hydrophilic gels may be more advantageous, even for the
conversion of apolar substrates. However, many characteristics of hydrophobic
supports have to be worked out systematically and, thus, are subject to
improvement.
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8.4 Design of Fixed-Bed Organic-Liquid-Phase Bioreactors

In the previous two sections various factors determining the suitability of an organic
solvent and of the polarity of the immobilized-biocatalyst phase for use in a
water/organic solvent two—phase system have been discussed. The main design
criteria were high retention of biocatalytic activity and the need for high
mass—transfer rates between the liquid phase(s) and the solid
immobilized-biocatalyst phase. However, if gaseous substrates are to be converted,
as is the case in the work described in this thesis, mass transfer from the gas phase to
the liquid phase(s) also has to be considered and could play a decisive role in the
design of an optimal bioreactor. This situation will be examined in more detail
below.

In chapter 6 it was argued that the fixed—bed reactor is an obvious reactor type for
contacting hydrophilic—gel particles with an organic solvent in case of a class C3
system (no discrete aqueous phase, Figure 2 in chapter 1). This is a result of the very
high surface tension between the gel material and the hydrophobic solvent. If supply
of gaseous substrates is necessary, two contact schemes can be distinguished. One
approach, adopted in chapter 6, is to separate the gas/liquid and liquid/solid
contacting processes (¢.g. see Figure 1 in chapter 6). Thus, one gas/liquid contactor
and one two—phase fixed—bed reactor (or packed-bed reactor) are in that case
needed. The other possibility is to establish the required phase contact between the
three phases (gas, liquid and solid) in one three—phase fixed-bed reactor (or
trickle-bed reactor). The first approach offers certain distinct advantages. Mass
transfer between gas and liquid can be carried out in standard gas/liquid contactors
(e.g. stirred vessel, bubble column, packed column, spray tower), which are
relatively easy to design. Modelling of the transport processes in the packed bed,
liquid/solid mass transfer and coupled diffusion and reaction in the
immobilized-biocatalyst beads, is also straightforward (chapter 6). In contrast, the
design of a three—phase fixed—bed reactor is much more complex (e.g. [30]). A
complication, that may arise with separation of the liquid/solid contacting process
from the gas/liquid contacting process, is depletion of gaseous substrates at the end
of the packed-bed bioreactor. The use of an organic reaction medium could then be
beneficial (chapter 6), as the solubilities of many gases in solvents are markedly
higher than those in water. With aerobic processes oxygen exhaustion will probably
be the main design criterium of the packed bed. The solubilities in organic solvents of
any other, gaseous (non—polar) substrates are likely to be much higher than that of
oxygen. Using in this work obtained, experimental reactor data (chapter 6), the
design of a packed-bed organic-liquid—phase/immobilized—biocatalyst reactor, with
oxygen as the limiting substrate, will be quantified below.

Suppose that the required volume, VR, of a packed-bed immobilized—cell reactor
is 10 m’ in order to meet a certain productivity (mol h-1) of stereospecific propene
oxide. This volume can be determined from the specific epoxide production rate
(taking into account product inhibition and epoxide consumption, chapter 7), the
fraction of biocatalyst particles (calcium alginate) in the reactor (¢A~0.3 m?3 particie
(m? reactor)!, chapter 6), the cell density in the beads (X ~70 X 108 g dry weight
(m? particle)') and, finally, using the assumption that the overall biocatalyst
effectiveness of the consumption of the limiting substrate (oxygen, see above) is near
unity. Internal-diffusion limitation can be shown to be negligible (chapter 4), if
oxygen concentrations in the bulk of the used reactor medium are higher than ~200
uM (aqueous phase concentration, oxygen—consumption rate VM~5 pmol min-! (g
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dry weight)!, particle diameter dr~1 mm). For simplification external-diffusion
limitation is neglected (chapters 4 to 6).

The height to diameter ratio (H/D) of the packed-bed bioreactor and the flow rate
(9v) of the reaction medium are the two basic design parameters. The flow rate of
the liquid, pre—saturated with a propene/(~20 vol%) oxygen mixture, should be
large enough to assure high oxygen levels over the entire bed length. Oxygen
concentrations in the reactor higher than ~200 pM (aqueous phase concentration),
and hence a biocatalyst effectiveness of about unity, can be obtained by keeping the
oxygen conversion below ~20%. The latter can also be formulated mathematically
as:

0.20 Co gv > ~5 eaXVMVR (mol s71) (1)
in which Co is the oxygen solubility in the reactor-inlet stream (at 1 atm oxygen).

Table 2. Properties of the three reaction media

reaction medium Co pL nuat 30°C
(mM) (kg/m?) (10~ Ns/m?)
water 1.2 1000 0.8
n-hexadecane 59 773 3.1
perfluoro hydrocarbon {(FC-72) 27 1680 0.7

This value is dependent on the type of reaction medium. Three biocompatible media
(chapter 3) will be considered here: water, n—hexadecane and a perfluoro compound
(FC-72, obtainable from 3M). The oxygen solubilities, densities (pL) and dynamic
viscosities (nt) of these solvents are given in Table 2. Equation 1 can also be written
as:

U > ~58aXVmH/ (0.20 Co) )

in which U is the superficial velocity of the liquid. Equation 2 provides a lower limit
for U as a function of the bed height, H. However, there is also an upper limit for the
liquid velocity, as the latter is related to the pressure drop over the packed bed. To
facilitate the calculations the well-known Ergun equation [31] will be applied here.
Despite the dilution of the bed with small glass particles (de ~1 mm, chapter 6),
pressure drops may be higher than the thus calculated values due to the compressible
nature of the alginate particles (ea ~0.3, void fraction £¢~0.35, fraction of glass
beads ~0.35). This effect will not be considered here. Using the Ergun relation, the
pressure drop in a packed bed with height H can be estimated as:

AP = 170 (1-e)nUUH/ (e2dp?) +1.75 (1-€) pLU2 Hi(£%dp) (Nm-2) (3)

The pressure drop should always be less than the maximal, allowable pressure drop,
APMAX over the bed:

A P < APMAX (Nm2) (4)

A reasonable value for APMAX is 105 Nm-2 (1 bar}. The upper limit for the
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superficial velocity as function of the bed height can be obtained by combining
equations 3 and 4.

For facilitating the distribution of liquid over the bed and for other, practical
reasons, the bed height to diameter ratio should not be too small:

(H/D)>~1 3)
or with Vr = 10 m3:
H>~23(m) (6)

The lower limits of the superficial velocity (equation 2) and the bed height
(equation 6) and the upper limit of U (equations 3 and 4) are visualized in a graph of
U versus H (Figure 3). Using water as the reaction medium (Figure 3a), it can be
observed that no combination of U and H can be found, which fulfills all of the above
formulated requirements. The same applies with n-hexadecane as the transport
medium, though this is not as clear as with water as the substrate reservoir. The
higher oxygen solubility (Table 2) lowers the oxygen—depletion line, but the
maximal-pressure line is also lowered due to the higher viscosity of n—hexadecane.
Only in case of the perfluoro compound, with its high capacity for oxygen, as the
transport medium, an area of combinations of U and H can be distinguished, which
satisfies the three mentioned conditions. Thus, assuming the validity of the used
reactor data, the above calculations demonstrate that the application of a
biocompatible, organic reaction medium with a high capacity for oxygen could make
a technical-scale packed-bed reactor for propene epoxidation possible, and,
furthermore, that separation of the gas/liquid and liquid/solid contacting processes is
feasible. However, as discussed in section 8.1, much higher expoxidation rates are
necessary for improving the process economics. In Figure 3c it can be seen that in
that case the related, higher oxygen—consumption rates {Vm) of the gel-entrapped
cells could make even operation with a solvent with a very high capacity for oxygen,
like perfluoro hydrocarbons, not feasible. A trickle-bed reactor might then be
required for sufficient supply of oxygen at acceptable pressure drops.
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Figore 3. Three design criteria of a packed-bed immobilized—cell reactor (oxygen depletion ( 1), pressure
drop { | ), height to diameter ratio (—)) visualized in a graph of the superficial velocity, U, versus the bed
height, H; reaction medium: water (a), n—hexadecane {b), perfluoro hydrocarbon {(c). The hatched area
represents combinations of U and H, which satisfy the three design criteria (see text). The dashed line
represents the oxygen-depletion criterinm in case of a higher oxygen—consumption rate (Vm ~350 pmol

min (g dry weight)-1).
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SUMMARY

Replacement of a considerable part of the traditional, aqueous reaction medium in
biotechnology by an organic medium is a promising technigue to broaden the scope
and range of biotechnological processes. This seems especially to be true for the
conversion of non—polar substances. The high capacity of solvents for sparingly
water—soluble substrates and products could reduce the required volume of the
reaction mixture significantly, and may also lead to less substrate and/or product
inhibition in the aqueous biocatalyst phase, when these mechanisms are involved.
Furthermore, the use of an organic solvent could shift reaction equilibria favourably
and facilitate down—stream processing. In chapter 1 a general review is presented of
non-aqueous solvent systems in biocatalytic processes. Special attention is paid to
two-liquid-phase systems, involving water—immiscible solvents. Several facets of
these biphasic systems have been studied in this thesis using the epoxidation of
propene by gel-entrapped Mycobacterium cells as a model.

After the description of the throughout this work employed technigues of
gas-analysis automatization and of substrate-level control {chapter 2), the
far—reaching consequences of the solvent choice are treated in chapter 3. Many
solvents cause rapid inactivation of the free, propene—eporxidizing cells. This appears
also to be the case if the cells are immobilized in calcium alginate. However, the
support material prevents direct cell-organic solvent contact and the associated
aggregation and clotting of cells, mostly accompanied with loss of activity. High
activity retentions of the immobilized cells relate to low polarities and high molecular
weights of the used solvents. The polarity, as expressed by the Hildebrand solubility
parameter, is also useful for describing the solvent capacity for one of the two
substrates, oxygen, and for the product, propene oxide. The capacity for propene is
less well described by the Hildebrand solubility parameter, but also less relevant, as
the capacity of the solvents for propene is always about two orders of magnitude
higher than that of water, and thus limitation of the rate by unsufficient supply of
propene is less likely to occur. It is stressed that optimization of the solvent polarity
is necessary, as the requirement of a high activity retention conflicts with the need
for a high solvent capacity for the polar propene oxide. Optimization of the polarity
will also be likely in case of other types of two-liquid-phase bioconversions.

External and internal—diffusion limitations, which are to be expected when using
cells entrapped in a hydrophilic gel, are quantified in chapters 4 and 5. With
negligible product inhibition, satisfactory predictions of the mass—transfer effects on
the intrinsic Michaelis—-Menten kinetics of the immobilized cells are obtained by
using a simple pore—diffusion model (chapter 4). Internal diffusion is found to
severely limit the epoxidation rate. A more complex model for the intrinsic
epoxidation kinetics has been derived for modelling of mass—transfer rates in case of
product inhibition (chapter 5).

The microkinetic model defined in chapter 4 is integrated in a macrokinetic model
to describe the behaviour of a packed-bed immobilized—cell reactor {(chapter 6).
Depletion of the limiting substrate, oxygen, along the length of the bioreactor can be
prevented by using an organic solvent, n—hexadecane, as the transport medium. It is
argued that this finding may eliminate the need for a separate gas phase in the
fixed-bed reactor. Model predictions of the oxygen conversion in the bioreactor at
various degrees of external and internal-diffusion limitation, at various liquid space
times and with water or n—hexadecane as the continuous phase are in good
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agreement with experimentally obtained values. In chapter 7 some other, main
limitations of the epoxide production in the packed-bed
organic-liquid—phase/immobilized—cell reactor are quantified. Product inhibition is
reduced by absorption of the inhibitory epexide in a cold di-n—octyl phthalate phase.
The stability of the immobilized cells is increased by supplying the cells alternately
with propene and a co—substrate (ethene). About 50 g dry weight of cells ina

1.7 dm?* packed-bed reactor were used, which produced ~1.5 g chiral propene
oxide; two third of the epoxide was absorbed in the octyl phthalate phase.

Finally, in the last chapter of this thesis a general discussion is presented. The
significance of optimization of the solvent polarity and of the interphase polarity, i.e.
the polarity of the phase between biocatalyst and organic solvent is underlined. In
case of entrapment in prepolymers, the hydrophobicity/hydrophilicity balance of the
gel can be optimized with respect to polarities of substrates and products. Several
features of hydrophilic and hydrophobic gels are compared. A quantitative
illustration is given concerning the design on a technical scale of a fixed-bed
organic-liquid—phase/immobilized—cell reactor. The advantages of using solvents
with a high substrate capacity (often oxygen in case of aerobic processes) are
demonstrated.
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SAMENVATTING

Vervanging van een aanzienlijk deel van het traditionele, waterige reactiemedium in
de biotechnologie door een organisch medium is een veelbelovende techniek om het
aantal toepassingsmogelijkheden van biotechnologische processen te verhogen en/of
de economische haalbaarheid van deze processen te verbeteren. Dit lijkt vooral te
gelden voor de omzetting van apolaire stoffen. De hoge capaciteit van organische
oplosmiddelen voor slecht in water oplosbare substraten en producten kan het
benodigde reactievolume sterk verkleinen en kan tevens de invloed van eventuele
substraat- en/of productremming verminderen. Het gebruik van een geschikt
organisch solvent zou cok reactic—evenwichten in gunstige zin kunnen doen
verschuiven en de productopwerking kunnen vergemakkelijken. Een algemeen
overzicht van niet-waterige oplosmiddelsystemen in biokatalytische processen is
gegeven in hoofdstuk 1. Speciale aandacht wordt daarbij geschonken aan
water/organisch solvent twee—fase systemen. De epoxidatie van propeen door
geimobiliseerde Mycobacterium cellen is in dit proefschriit als model gebruikt bij de
bestudering van de verschillende facetten van deze twee—fase systemen.

Na de beschrijving van de belangrijkste, in dit werk gebruikte experimentele
technieken, automatische gasanalyse en regeling van de substraatconcentraties, in
hoofdstuk 2, worden de verstrekkende gevolgen van de keuze van het organisch
solvent behandeld in hoofdstuk 3. Veel solvents veroorzaken een snelle afname van
de epoxidatie—activiteit van vrije en van in calcium alginaat gel ingesloten cellen.
Gelinsluiting voorkomt echter direct contact tussen ceilen en organisch solvent en de
daarmee gerelateerde aggregatie en klontervorming van cellen, veelal gepaard
gaand met verlies van activiteit. Hoge activiteitsretenties van de geimmobiliseerde
cellen worden aangetroffen bij gebruik van solvents met lage polariteiten en hoge
molecuulgewichten. De polariteit, zoals uitgedrukt door de Hildebrand
oplosbaarheidsparameter, kan ook bruikbaar zijn bij de beschrijving van de
capaciteiten van de solvents voor zuurstof en voor het product, propeenoxide. De
capaciteit voor propeen wordt minder goed beschreven door de Hildebrand
oplosbaarheidsparameter, maar is ook minder relevant, aangezien de
solventcapaciteit voor propeen vrijwel steeds ongeveer twee orden van grootte
hoger is dan de capaciteit van water, en limitatie van de reactiesnelheid door
onvoldoende toevoer van propeen dus onwaarschijnlijk is. Optimalisering van de
solventpolariteit is noodzakelijk, aangezien solvents met een hoge
extractiecapaciteit voor het polaire propeenoxide tevens celinactivering zullen
veroorzaken. Qok bij andere water/organisch solvent biokatalytische reacties zal
optimalisering van de polariteit in veel gevallen nodig zijn.

Insluiting van de cellen in het hydroficle calcium alginaat kan aanleiding geven tot
externe en interne diffusielimiteringen. In hoofdstukken 4 en 5 zijn deze limitaties
gequantificeerd. Bevredigende voorspellingen van de stoftransporteffecten op de
intrinsieke Michaélis-Menten kinetiek van de geimmobiliseerde cellen worden
verkregen door gebruik te maken van een eenvoudig poriediffusiemodel
(hoofdstuk 4). Interne diffusie in het geldeeltje blijkt de epoxidatiesnelheid sterk te
kunnen limiteren. In hoofdstuk 5 wordt een uitgebreider model voor de intrinsieke
epoxidatiekinetiek afgeleid om ook in het geval van productremming door het
gevormde propeenoxide modellering van de stoftransportsnelheden mogelijk te
maken.

Het in hoofdstuk 4 opgestelde model voor de microkinetiek is toegepast in een
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macrokinetisch model van een gepakt-bed, geimmobiliseerde—cel reactor
(hoofdstuk 6). Uitputting van het limiterende substraat, zaurstof, aan het einde van
de bioreactor kan worden voorkomen door gebruik te maken van een organisch
solvent, n-hexadecaan, als het transportmedium. Dit kan de aanwezigheid van een
atzonderlijke gasfase in de gepakt—bed reactor overbodig maken.
Modelvoorspellingen van de zuurstofeonversie in de bioreactor bij verschillende
niveau’s van externe en interne diffusielimitering, bij verschillende verblijftijden van
het reactiemedium en met water of n-hexadecaan als de continue fase blijken goed
in overeenstemming te zijn met experimenteel verkregen waarden. In hoofdstuk 7
worden andere, belangrijke limiteringen van de epoxideproductie in een
gepakt-bed, organisch-solvent/geimmobiliseerde—cel reactor beschreven en
gemodelleerd. De invloed van productremming kan worden verminderd door
absorptie van het toxische epoxide in een koude di-n—octyl ftalaat fase. De stabiliteit
van de geimmobiliscerde cellen verbetert door de cellen afwisselend propeen en een
co—substraat (etheen) aan te bieden. Ongeveer 1.5 g stereospecifiek propeenoxide is
geproduceerd door gebruik te maken van 50 g (drooggewicht) cellen in een 1.7 dm?
gepakt—bed reactor. Twee derde gedeelte van het gevormde epoxide is daarbij
geabsorbeerd in de octyl ftalaat fase.

Dit proefschrift wordt tenslotte afgerond met een algemene discussie in het laatste
hoofdstuk. Het belang van optimalisering van de solventpolariteit en van de
polariteit van de fase tussen de biokatalysator en het organisch solvent wordt
aangegeven. D¢ hydrofoob/hydrofiel balans van deze ‘tussenfase’ kan bij insluiting
in prepolymeren geoptimaliseerd worden met betrekking tot de polariteiten van
substraten en producten. De verschillende aspecten van hydrofobe en hydrofiele
gelen worden met elkaar vergeleken. Het entwerp van een gepakt-bed,
organisch—solvent/geimmobiliseerde—cel reactor op industriéle schaal wordt
geillustreerd met behulp van een quantitatief voorbeeld, waarin duidelijk de
voordelen van het gebruik van solvents met een hoge capaciteit voor het substraat
(vaak zuurstof bij aerobe processen} naar voren komen.
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