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ABSTRACT

ey iy

The major portion of the text 1s concern?d ﬁith

IR v IE AT 77 161 developing design procedures for single and two phase flovw in

| .
| . . the tubeside distribution system, Distribution systems such l

as buttonhook and ring headers are designed to give minimum @

flow variations in their branch streams, These flow

variations are found by a combination of solving the First

,,,,,,,,,,,,,,, Law of Thermodynamics for each branch stream and a special EW
convergence technique. Flow rates in the tube bundle can i
SRR | | then be analyzed with respect to variations of tube length |
A | and inside diameter, plugged tubes, and phase separatlionm. M%
1 o : The actual exchanger duty can be analyzed dividing
| the exchanger into many smaller imaginary exchangers each
¢ cerrying one of the discrete tubeside flows. For each of
E f the imaginary exchangers the shellside flow as a percent- !
} ‘ | age of the total shellslde flow 1s equal to the number of |

tubes carrying each flow as a percentage of the total

L oo - -

number of tubes. Actual exchanger duty is found by plotting

i' cooling curves while maintaining a fixed UA and fixed inlet

{ | temperatures of both warming and cooling strcams, '
| A procedure for -checking and designing against

instability of flow in - a system 1s algo presented, Thls

includes slug flow in the distribution system, tube

pulsations as a funttion of time, and the case where tubes .W

operating with equal pressure drops may carry as many as

three two-phase flow rates. ' o8

TSIy
S ——

| : ' To further 1llustrate the above procedures and to

e i

develop "short cuts" a typical eryogenic heat exchanger

~was analyzed.

. i‘v‘ e ’ : . . '
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i F1ed GENERAL NOMENOLATURE K
A e b ot YL A 5 ! l!
- A area (ft2) |
Op specific heat (Btu's/1b OF) |
D  diameter (inches) 4
‘ | 4 fanning fraction factor ® k
b ﬁ ﬁ @  total mass flow rate (1b/ft2-hr) ]
. ] S @' gas flow rate (1b/ft2-hr)
§ j gec gravitational constant (ft/sec?)
| ; H vertical height gft
; h vertical height (ft

I.D. inside tube diameter (inches)

K proportionality constant ,

K' constant in Hughmark's slip gorrelations O (see fig 4)

Ke coefficient of contraction (see fig 6) :

Kg coefficlent of expansion ® (see fig 7) /]

1. length (ft) . 0

L' 1liquid flow rate (1lb/ft2-hr) |

L'' percentage loss of duty

M flow (moles/hr) !

Md molecular weight l

m flow (1b/sec) ]

# maldistribution of flow (% percentage of mean) 'I

N number of discrete flows ‘

: Npp Froude Number, 12540q2/D5

1 | NRe Reynold Number, DG/124 | |

] Ngpe' two phase Reynolds Number with slip, DG/12(R1AL + Rg’g) N

; : NT total number of heat exchange tubes ' |
0. D.outside tube diameter (inches) g

P pressure (psi)

AP* fictictious pressure drop (see p.ll)

Q heat transfer (Btu's/hr)

i “ Q' volumetric flow rate (ft3/sec)

§ q flow rate (ft3/sec)

i R;, 1liquid volume fraction with slip ]
g | Ry gas volume fraction with slip J
% 4 - 3 R;' 1liquid volume fraction without slip

g ) , Ry' gas volume fraction without slip

4 | Ry'' Q'g/Q'L

S8g cross sectional area upstream of an expansion or -
downstream of a contraction _ g

S, cross sectional area downstream of an expansion or i
upstream of a contraction

T - temperature (OF) | 3
ATyyM log mean temperature difference, ( Tyrag - TrLow)/ |
: log ( Tuign/ Trow) i
; } t time (seconds) . _ ‘L
N U  overall outside heat transfer coefficient (Btu's/hr-OF-ft2) il
/ ] E | vV  velocity (ft/sec) . i
i’ .i‘ i i, . B | .‘ | 2‘ ‘ ; !
GaatCadh BEY ' ' i

‘ .;;1’
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Huy fhgi&rlﬂ; Ec)ald-.up parameter ©, Npel/6Npnl/CRp-% 0
(see :
gurface tension (dynes/cm) i

L

change A
pipe roughness factor \\9
heat of vaporization (%&P

's/1b) |
Baker chart parameter (see fig 8), ((Q@/.O?S)(@L/62.3))§ ‘
viscosity (1b/ft-hr) y
viscosity (cp) N
eritical viscosity (1b/ft-hr) N
3.,1416 1
density (1b/ft3) - ]
Baker Chart parameter @ (see fig 8), ((734{L)0%L62.3A2L)2)1/3 |
partial derivative ' w

|

JE€NI XA IYMP>< W

".. i
| ' Subscripts {'
B refers to branch stream off of ring header
f  refers to frictional forces I
a refers to gas flow
H refers to ring header
L refers to liquid flow
P  refers to symmetrical piping _ o
T refers to tubes
TP refers to two phace flow
TS refers to tube sheet
) TSH refers to tube sheet header
“ _ , numbers (1, 2, 3 etc.) and lower case letters (a, b, c ete.)

refers to specific positions defined in particular section

FOOTNOTES -}

afootnotes are denoted by a superscript with a circle
.9 " Mese circled numbers refer to page 108,

1e
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SRR S L L TR 3 ; ,




o T AT e i = Vg 2

4T

INTRODUCTI QN ‘ -

The purpose of this study is to develop akdeéigﬁ | ;
procedure for the distribution system of a coll wound ?
and plate-fin heat exchanger. Both single and two !

phase flow are considered, Instabilities which may

exist will be discussed with ways to design in a more
stable region. A procedure for calculating maldlstribution
for any system and its effect on the loss of exchanger '
duty 1is also presented. ii

A coil-wound heat exchanger briefly is one in which w;
equilength tubes are wound around a mandrel in layers of é
alternating direction. For smaller exchangers (see fig. 1)
the tubes are connected to buttonhook headers and for the
larger exchangers they are comnnected at the -entrance and
exit to tubesheets (see fig., 2). Coil wound exchangers
have the advantage of operating with very high pressures.
Some may be as large as 14 feet in dlameter and 75 feet
long., j

A plate-fin or core heat exchanger 1s formed by 'f
brazing aluminum plates and corrugated aluminum ‘together
in & molten salt bath (see fig, 3). It has the advantage of
large heat exchange surface area per volume of exchanger
(450 £t2/ft> of exchanger volume).

GENERAL DESIGN PROCEDURE

To get maximum performance from a heat exchanger
it 1s desirable to evenly distribute a single stream . i

to numerous heat exchange passages or tubes, _The

most economical means to this is by & buttonhook | %w
!

BRI T R
4,. . , I
il
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header for emaller coil-wound exchangers (see fig, 1)
and ring headers rdf larger models (see fig. 2). The
b;anch'streams from the ring headers are connected to
tubesheets. If the number of tubesheets is one: or
two, symmetrical piping is used (see fig. 2), For core.
exchangers either a straight manifold or symmetriocal
piping 1s connected to a passage header (see fig, 3).

It is assumed that a certain amount of pressure
drop has been allotted to the heat exchange system., In
other words, the entrance and exit pressures are known,
One would wish to have as much of this pressure drop
as possible in the tube bundle to enhance the heat
transfer coefficient, However, as pressure drop is
sacrificed from the distribution system to the heat
exchange area the maldistribution of flow increases, As
the heat trensfer coefficient increases, the exchanger
duty increases with fixed area. As the maldistribution
increases, the exchanger duty decresses again assuming
fixed area . A loss of exchange duty will cause a loss of
production, 1In designing the distribution system, the cost
of the header plus the cost of the loss of productlon
should be minimized. The cost of the distributor depends
on the cost of material, fabricstion, insulation, and
installation. The design of the distribution system
influences maldistribution, which affects loss of duty,
whicb.in:tufn 1e:prdportiona1 to loss of production, The

tqtalvminimum.cost for various distribution syétems

w111 assure an optimum design.
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Since piping is available in discrete diameters

the possible combinations of header and branch stream r

diameters are limited. This allowse one to assume a design

and calculate the total cost, repeating with a new design |

until the minimum cost is realized., Any other method

of solution would result in fractional pipe sizes of
no practical use, One now wishes to find two points in
the system where the pressure is common to all branch
streams; usually the inlet and outlet, It 1s now vossilrle |y
to add up all the pressure drops for each branch stream

| and solve for the flow rate throuszh each branch, The

§ maldistribution is then known from which the loss of
exchanger duty may be found,

ri Pipe sizes between one an/ three inches are

1 avallable at every one half inch interval; from four inches

R T T B - S s Ve

;i on, at every two inch interval. A rough first estimate

of header and brench pipe diameter can be obtalned from

T

the pipe flow chart in Perry's Chemical Engineere Handbook
based onsP/L, For frictional pressure drop (APp!/L)
needed in the pipe flow chart, table 1, has been developed
for the first trial of the header design. Values for
table 1 were obtained by takineg several optimum declagns

ﬁf and working backwards across the pipe flow chart, If
sufficient data i1s not available for the chart the diameter

may be estimated from

1 - ] _
\ | | f D= \h.T340/5o




vhere D = diameter in inches
‘ m = mass rate in lb/sec g
; Q = density in 1b/ft3, AN

Pressure drop equations for each resistance 71
f} encountered are wrltten. They have all been derived .
empirically by methods described in the articles of
the footnotes, In developling the pressure drop
equations, irreversible energy loss due to a flow
disturbence caused by change in direction, frictlon,
3 and turbulence ig taken Into account plus any
reversible energy due to a change in velocity or
statlic head.

Equation 1

AP12 = o.000135,@ﬁ.8ve2 - 0.368V1V2] @

or
AP1o = 4,5381 1.8%22 - .3689182
Q[Dg D1°D%

! <——| 2
; Tyoe of flow - split flow
|

Equation 2

] APy = 1I‘I;fa2LQ €l

1 Type of flow - straight plpe |

Equation 3

APyp = 0.0001350 [1'8"22 - 0.368v17 @

ol
] APy = 4.5381p [1.8%22 - 0.368 ]
] | Do D12D,

!7.
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. Type of flow - branch pipe }——» a

Equation 4

M’lz'@ (!25_'_113)@
or

. - 112, g2
AP 3.62839 ((xe Vg +gD22>

Type of flow - sudden expansion | -—»> 23

Equation 5
v
AP12 = QKaV2® _,<(v22 - V12)u &
2gc 28
—

or

APy = 3,6283 ((Kc + 1) 2> ;)
to7® 3.620% (Ko Vgl - gup

Type of flow - sudden contraction

Equation 6

AP12
or
AP12

0.000135@'/1.36V22 - 0.64V72 - 0, 72vlve> @

4,53%81 36222 - 0,64071° -
Q D2 Dy Dl Dg >

Type of flow - branch flow l

ﬁquation 7

AP12 = O. 000135g<v22 - 0,05V12 - 2va(o 2osv331 V13.1>> @
| 2 2

8.

e e et 3 it
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ﬁ;m = 4.53819@32 - Io§9]2 - onga%g2> o

2
Equation 8 }

AP12 = 0.000135Qév22 - 0,472 - 0.41Vp(Vaaz , Nagy)) @
a2 a2 ;

Type of flow - Join branch

or 4 ‘
APyo = 4.5381(?<29D22k —‘5%33- 'gi D2> )
\

'3 |
Type of flow - join flow ’ [‘
o’

Equation 9.

/
APyo = 0.-000135«/2\722 - O.4V]_2 - 2Vo (0.205V147 . ‘_l;g_;> @
' : a2 ds

or ' \
AP1o = 4,5381(/2q9g2 - .4332 - 0.41g12 - 2932
%<f;3_ ol D1<D2 nggbg?/
)

= T A Sy SO S

Type of flow - join branch L__ |

b e

Equation 10
0,000135¢0 1.2vp2 @

5.44579%3

A P12
or
A P12

Type of flow - elbows (std.)

' | 5
roa? Gt 4 e i TN A & A & et A i S T St e e B S ) B e i S Tk s S S s B S e et .
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Equation 11
APyp = 0,0001350(1.8V22 - 0,368V1V2) @

or
AP1p = 4.5381 1,8222 - 0E§g§g§2>
12 ® D2 2<Dq

Type of flow - bend with capped tee |-——————{q

a
The above equations are especially suited for

turbulent flow with appreciable entrance effects.

If the change in density is greater than 10%, the
equations will lose accuracy. They may also be used
for homogeneous two phase flow by using the homogeneous.
density.

For nonhomogeneous two phase flow the following
method should be used for frictlonal pressure drop
in a straight pipe. Calculate the 1lilquid volume
fraction in the pipe using slip correlations of
Hughmark® (see fig. 4).

7 = (Npe')* (Ng)* (R{)"%

Nge' = two phase Reynold number
= (6.6 x 105}g'gor DG
D(Ryrar + Rg4ag 12(RrMT, -+ 'RG/(G)
NFr = Froude number

12540q2
D
. R' = volume fraction without slip
R = volume fraction with sllp
L refers to liquid
@ refers to gas
RL'].-K'RG
K= constant from fig. 4

One must first assume no slip, find K'from fig. 4,

_ and caleulate R, Ry may be used to caleulate & new

16,
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value for Nge'. Repeat this procedure until convergence
is reached, If it does not converge, no slip may
be assumed. The limits of this correlation are:

1 < (Nge")Y/6(npp)/8(rL")-F £ 130,

In order to read the two phase pressure drop from
the Chenovwith-Martin-Lapin-Bauer curves @l the fictitious.
single phase pressure drops must first be found. The
fictitious liguid pressure drop is calculated by assuming
liquid only is flowing in the pipe at a G rate (1b/hr-ft2)
eoual to that of the two phase fluid., Similarly the
fictitious gas pressure drop is calculated by assuming
gas only is flowing in the pipe at a G rate (1b/hr-ft2)
equal to that of the two phase fluid. The limits of the
APpp correlations are :

APg/APL < 1000 or Nge » 3000.

The pressure drop due to the head may be found by
looking at differential lengths of plpe or tublng.

n

AP head = EE(VLRL v caRn)i(ahy)/144
where i refers to the differential vertical
segment, Ahy (ft), and n is the number of segments
For constant gas-liouid ratios this reduces to

AP head = (QiRp+ QqRq)H/144
where H 1s the vertical height (ft).

When there exists cooling or heating through tube
walls the denslty of the tubeside fluld will change.
With a constant mass flow rate the velocity will
therefore change. By Bernoull's equation this

velocity change will be accompanied by & corresponding

11,




pressure change.

1 . | APyp (!335:_!13)9 ]
‘ i &c ;
or Henr

5 Pip = 3.9282Q(Q22 - Qle)

i Symbols used in pressure drop equations:

] AP12 = pressure drop from 1 to 2 (psi)

= inside diameter (inches)
velocity (ft/sec)
flow rate (ft3/sec) j
density (1b/ft3) i
= 55004 qD/« A |
fanning friction factor & |
16/Nre for Npe < 2000 .
1 gsee ref 3 for Npg = 3000 ‘
3 L = pipe length (ft .
Ke = coefficlent of expansion'7 fgee fig. 6)
K. = coefficient of contraction'® (see fig. T)
A = yiscosity (1b/ft-hr)
G = mass flow rate (1b/hr.ft2)

O ®

The two common pressure polnts described earlier
must now be defined, For ring headers at the entrance
] and exit of the bundles, the entrance and exit

tubesheets are all at different pressures, If one

were to choose the inlet and outlet pressures as

common points and then sum the pressure drops for
f each branch stream he would have four unknown dlameters
in each equation, These dlameters are of the inlet
header, inlet branch, outlet branch, and outlet header
streams, To do a trial and error solution of the
pressure drop equations one would have to try a very f

1 large number of diameter combinations. In order to jﬁ

3
b

avoid this task one may assume a common pressure

12,
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point at the center of the tube bundle, fe. one half

a tube length. This is by no means rigorous, Oonsider ) d
that each entrance tubesheet sees a common average 'f
exit tubesheet pressure because of the fact that iu
entrance and exit tubesheets are randomly connected %’
and each tubesheet has approximately the same number '?
of tubes connected to each exit tubesheet., Similiarly "
each exit tubesheet sees a common average entrance ‘
tubesheet pressure. One may get a feel for the fact f’
that most of the tubes are concentrated about a |'I
single pressure at tpe middle of the bundle, assuming ;;
pfessure drop is a linear function of length, Vj
Presented graphicallys |
e |

Lencru - ‘

. (_"Aw.wm\) sob
S ® too” v

AP (% or Vo) |

Each point at the O and 100% length line represents a j
tubesheet. Since AP 1s assumed & linear function of '}
length and each tubesheet is connected to another fj
tubeiheet by an equal number of tubes, atraight lines |
may be drawn connecting all combinations of tubesheets. | ;?5
It 1s apparant that most will cross at s point of ';’3,'
50% length and 50§ AP. As, was stated before this is 14

13,
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Lt s o mesrn sibna not rigorous but will make trial and error solution ih
et f less complicated. Actually the pressure drop at this "

50% point assumes & normal distribution,

For any type of symmetrical piping pressure |

drops are equal in all branches, If one has a ring
header at the entrance and symmetrical piping at the

outlet, common pressure points exist at the inlet,
f" | ' exit tubesheets and exit.
The common pressure points for most systems have
now been defined and the distribution eystem can now q
be designed, It has been assumed that the tube J
bundle or core has already been designed and the
average pressure drop across them 18 known, ’u
For symmetrical piping one assumes equal flow |
‘ of split streams and estimates plpe dlameters as i
ﬁ described earlier, Since all streams are equal, 4
1 one may sum all pressure drops that are applicable from 3
! | 5 the entrance to exit., New pipe diameters are estimated .
E ; until the minimum piping cost for the fixed pressure
5' i i 3 drop is assured. No maldistribution will arise
:'5 | , from symmetricalipiping.
! | | For ring headers at one end and symmetrical
pipiﬁg at the other one must firsp agssume & header

1 R | | o . : diameter and a branch stream diameter and symmetrical Bt

pipe diameters, It is desired to choose flows that
1&0' ‘ !l‘
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will give exactly equal pressure drops for each
stream., One must first assume egual flows in all
branch streams and sum the total pressure drop in each

from entrance to exit. Total pressure drops will differ

glightly for each stream, From these pressure drops better

flow rates may be estimated and new pressure drops calculated.

AP = Kq2 K = AP/q2

0AP = 2Kq-q

>AP = 2APqiq/a2 = 2APeq/q

0q = OAPq/2AP

where AP = average total pressure drop (psi)

K = constant

o = average flow rate (ft/sec)

vq = q new - q old

oAP = AP average - AP 0ld
Three or four trials are needed with the above equation
to converge to four significant numbers. Maldistribution,
lose of duty, and loss of production can be calculated
as will be shown later, for the particular design,
The cost due to loss of production and the cost of the
ring header are summed. New ring heeders and branch
diameters are chosen and the cost calculated until the
minimum cost and optimum decign are reached.

The next case will be for ring headers at the
inlet and outlet. The method here is slightly more
complicated than the others, For symmetrical headers
just one semicircle need be considered, The rsdlus
of the rings is large enough to assume a straight
pipe. First assume header and branch diameters.

| | - 15,
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Assume & common pressure in the middle of the hundle
and by summing péolsure drops from the entrance to
the middle of the bundle for each branch streanm &
flov rate for each branch may be found, By knowing

the flow rate in each branch the pressures at the

inlet tubesheet may be found., The exact same procedure

is used on the exit end. One now knows the pressure
at all inlet and outlet tubesheets, One csn now
£ind discrete flow rates in the bundle between
particular tubesheets, Knowing this the flow rates
through each branch stream may be calculated and the
tubesheet pressures recalculated, This procedure

is repeated until convergence is reached. The

maldistribution, loss of duty, and loss of production

are found and new diameters are assumed until cost
is minimized.

For plate-fin exchangers with straight manifolds
the situation is very similiar to the wound coil
except that the passages are not randomly connected
between passage headers and hence one does not get
random maldistribution in the passages but a segre-
gated maldistribution, Again assume header and

branch diameter and sum pressure drops from entrance

to exit to get the flow rate. FPressure drop equations

or.correlations in the various types of cores may

be obtained from the vendors, A method for calculating
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loss of duty is suggested later, Ag?c(fu tribution
system is optimized by minimizing th Colgij/f;

J
Yhen two phase flow exists in the distribution

system one must be careful not to be in the slug

flow region., This can easily be checked by referring

to a Baker chart. @ For symmetrical piping at the
inlet one may design for annular or dlepersed flow.
If a small amount of liquid is present 4n annular

entrance pattern might be acceptable. But the loss

of duty for the case of extreme 1liquid maldistribution

should be checked for significance., There are two
ways of making a two phase stream homogeneous. One
is to increase the pressure above the critical

pressure of the gas and the other 1s to increase

the velocity to the dispersed flow pattern in which

1iquid is entrained in the gas phase. For ring,
straight, or buttonhook headers at the inlet one
must design for a homogeneous or dispersed flow,

It is presently common practice to avold two phase
flow\by raising the pressure of the gas.above the
crit:I;l pressure to achieve a homogeneous fluid
which can then be distributed by a ring or straight
header. Tt may be economically advantageous to

increase the velocity of a two phase fluld to a

homogeneous fluid., Again one may use the Baker chart

(see rig, ®) to get into the dispersed region,
1%,
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- | 5 , v the homogeneous regime will remain to the end or last | {§;

| | ‘ , branch stream, For the discharge system one may be in N
any two phase regime except of course slug flow, Dis~ “ i

tributing the two phase fluid from the branch streams to

; the tubesheet or core poses another serious matter as ]
? | will be shown in the maldistribution section., It 18 very |
; important the equal gas-liquid ratios are distributed ;}
§ | | to each tube or each core passage. A conlcal diffuser ’
f | seems to be the best method (see fiz., 9). If one has !
1 '. annular flow entering the diffuser he should have some
| . : sort of conical device upstream to scrape the llauid
off the walls and disperse 1t 1n the gas.

INSTABILITIES

Instabilities which may arise in the system could
cause a form of maldistribution that :could be quite
gerious, not only effecting loss of duty but loss of

equipment as well.

One type of instability 1s caused by a condensing

ey M e R e

1 or evaporating fluid. A plot of mass flow rate (@)

versus two phase pressure drop (Aow) may reveal

y : curves similiar to one of the following.

RO
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One can see that if the pressure drop is in the
shaded region two or three flow rates for curve 3
may exist., In a core or tube bundle one tube or
passage may be at a low flow rate while another at
a high flow rate. For curve 2 many flow rates may
occur at a particular pressure drop, Curve 1 1s a
single phase fluid which is stable., If one finds he has de-
stgnell in the unetable region he may either increase the
pressure to above the critical pressure to obtain
a single phase fluid and get curve 1 or redesign
the bundle so a pressure drop outside the unstable
region exists, The stability curve may be drawn
by first plotting temperature versus duty, the
cooling curve, From the equation q = UAATpy one can
plot tube length versus duty. From this 1liquid
condensed versus length is graphed. From Hughmark's
8lip correlations(s)a'plot of 1liquid volume fraction
versus length 18 made. Using Chenowith - Martin
two phase pressure drop correlations 'press_ure
drop per length versus length 1s plotted. The area
under this curve 1s the total pressure drop. One
now has a point on theiPpp versus G curve. A new
G 1s assumed and the procedure is repeated until
& smooth curve results,

‘Another type of instability may ocour in a
tube with non-uniform pressure drop and non-uniform

19.
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BRI R e AP RCIEIE B PR L AR R duty and may manifest itself as pulsations. A
|
P R R TN A L B R rigorous analysis of this effect is beyond the 1
T A TP scope of this study. To simplify matters one may ):

consider the "worst case" and see if its effect on
| the loss of duty is appreciable. The "worst case"
oy i : - | would be if all duty was exchanged at the tube
| inlet and all pressure drop occured at the outlet.
gl § The tube is adiabatic and frictionlees in between,
? Pressure drop and duty are constant. A plot of )
mass flow (@) versus time is the desired result of

this analyeis,

“TeBt Vortumt - >

Q
l’ OPrval
Q

The step wise procedure isi

" 2
1. AP = KooVo2/2gc
1 2, Find the constant K for the deslgn case
: 4 K = 2aPge/e2Vo? |
| 1 3. At time (tg = 5 assume no heat flow (Q = 0)

| ' 3 a) Calculate Vo = V2APge/Q2K
o . : 1 where V2 = V1 and Q2 =Q1

] - : | b) Calculate G2 = OpVp and G = G2 =QV1

: | ' 5 4, At t = O assume heat flow (Q = constant , Btu's/sec)

L : a) ©1Vy =CQqVg,alvays

| b) Vg = V2,alwaye
¢ V1/= m1/¢14 .always, therefore, P
d) m = VoA always "4

S | lAqf tube cross sectional area (ft2) . A

] . ' . ‘e - . :

S | i
b : ‘ . ' j
l . IR S A 20 y
;’ . T . k] 0 . 4 * .%- q{ I“I ‘l' :' ’.:“ . l‘v_ . , ; k
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For the ratio m1/Q4 only one value
for m] and one volue for (g exlsts.
A graph of m1/p, versus m] should
be plotted.
Q = (CpAT+ ARL1)m) = constant
Cp = specific heat, f(T)
AEL = fraction liquefied or vaporized, f(T)
A = heat of vaporization, f(T)
m = mars flow rate in 1b/sec
Q = heat flow (Btu's/sec)
Fi11l in values for the following list
over the temperzture range of the
desian exchanger,
1) T (OF)
2 Cp (Btu's/1b OF)
3) A (Btu's/1b)
4 ARp
5) g (1b/ft3)
6; C.AT + ARLA
7) ol
A plot of my/vg versus m) can now be plotted.
e) m] and vg csn now be found for a partlcular
VoA
5. The new gensity (va) will reach thc restriction
gt t = tute volume/VoA where (’2 = (g
a; Vo = 2APzc/ oK
b ml/(,'a = VQA
c) from eranh find new m] and ¥ g
€. Repeat step 5 an? a nlot of m] versus time
can be nlotted.

TWO-PHASE FLOW

Simultaneous gas-licuid flow is frequently
encountered. The design problems are much more
complicated in two phase flow than that in single
phase flow, It is common knowledge that gas-1liouid
flow in tubes exists in different patterns or
regimés depending on the physical and geometric
properties of the system. These flow reglimes are
labled bubble, plug, stratified, wavy,‘élug, froth,

annular, and spray by those knowledgeable in the

2l,




field of two phase flow, Heat, mass, and momentum
transfer as well as hold-up can be pre’icted with
reasonable accuracy oanly when the flow reglimes can
be epecified.
Prediction of the flow resime offers another
problem in two phase flow. The only sure method
18 by visual observation of the actual flow under
investigation through a transparent tube. Even
visual observations under certain conditlons may cause
gome doubts to the observer as to what he 1s szelng,
Boundaries between rezimes are not well deflined
and high-speed photoaraphy mav be necessary.
Correlations are numerous given fluid properties,
flow rates, and tube dimensions, but are only
reasonably accurate, Practlcally all correlatinns
are based 6n data obtained from only five systems
(air-water, COp-water, steam-water, air-oll, and
NH4-water) using only horizontal and vertical tubes.
Transport coefficients for two phase flow can be
predicted from general corrclations without regard to
regimes but the renges are limited anﬂ'accuracy very
poor. Even if the flow pattern, geometric dimensions,
and fluid properties are known pressure drop from the
most reliable correlations can only be predicted
with 25% accuracy. Two phase heat transfer co-

efficients can be found from general correlations

- 22,
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using a single phase flow coefficlent or using
dimensionless groups assumine a liouild film on
the wall but again are very inaccurote.

In order to make accurate preiiction of transport
properties, one needs to know what fluid mechanism exlists
and how it 1s caused. Some of those who have done
outstandine work are: D. J. Nicklin in vertical slug
flow and bubble flow, Calvert and Williams in vertical
annular flow, E. S. Kordvban in horizontal sluec flow,

C, B. Wallis in horizontsl bubrle flow, Bergelin ang
Gayley in horizontal wavy and stratified flow, and

Russel and Lamb in horizontal annular flow. How=ver,

at present the author 1s not aware of a dependatle method
of calculating transport proprrties outside thes range

of the above investlgations,

LOCAL MALDISTRIBUTION AND LOSS OF EXCANGER DUTY

There exists in practically all systems maldistri-
bution of flow, much of which can not be avoided. Thils
maldistribution affects the exchanger duty and thus
causes a loss of production. Given a particular design
one would want to know how much loss of duty as a percent
of the deslgn duty will occur. There are essentially
two types of tubeside flow maldistribution, The
first type which will be called local maldistribution

results in a cross sectional area of an exchanger

having a temperature gradient, The second type will
23.




.
I
&'

f

be called random maldistribution which occurs when
tubes or flow passnaces of different flow rates or
temperzture occur randomly through the bundle or core
and a cross section will show a constant shellelde
temperature,

When local maldistribution occurs the loss of
performance due to the entropy galn of mixing streams
of different temperature is large, It may also be
shown by drawing cooling curves for cross sectional
gsegments of an exchanger that the mean temperature
difference between the warming and coolina stre:m
1g less than the uniformly Jdistributed case, hence
more loss of duty (Q = UAATIM).

Local maldistribution in core exchangers 1s
caused by fluid not being distributed properly in
the headers to the individual core pasaages, One
can see from the dlagram below that the heavler
passages receive more flow because of higher pressure
drop due to the momentum of the entry stream,

This would be particularly bad for two phase entry.

|
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To calculate lose of exchanger duty one must divide

the core into two cross sectional areas and make an
estimate of the flow each passage is receiving, Let the
passages carrying the large flow be one exchanger and the
passages carrying the low flow be anoth-r. Draw cooling
curves for each allowing a proportional amount of original
UA for each exchanger and add the duty of each, The design
duty less the sum of the two dutles 18 the loss of exchange
duty. Local maldistribution in p'rallel core exchangers
may also occur when e straight manifold is used to
distribute to each core, Consider three tyvical
manifolding designs for distributine single phase fluid

to three identical parzllel cores, Fluid velocity in

these examples 1s great enough so that the pressure drop "
due to friction is negligible compared to the change in

pressure due to change in velocity., Notinz that for

every bfanch there is a pressure recovery in the inlet

header and a pressure loss in the outlet header, one

would find distribution pstterms conforming with the

following sketches.
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Cooling curves can be drawn for each individual
core as before and the duty of each calculated,
Local maldistribution in large wound coll
; exchangers 18 quite complex. The tubes that are
wound first on the mandrel are usually connected
to the top of the upper tubesheet and to the bottom
of the lower tubesheet. If the entrance flow is
5 not homogeneous a8 in two phase separated flow,
liquid' will tend to travel in the center of the
bundle. The effect this can have on loss of exchanger o
P ‘ duty can be quite serious, particularly'at-high _ }QA
| ‘ 26. HE
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: liquid-gas ratios. These tubes are also longer than o
NI | . AR
HiE i the tubes which extend from the top of the lower :
| l; , tubesheet to the bottom of the upper one since the "E
f ;;é“ actual heat exchanse length is the same for all tubes. f
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: ‘éi g radial direction. The average tube length per each ‘
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E P g after each bundle, The aversge lengths in these
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The tube lengths in three equal area concentric

segments may then be represented bv the following diagram.

Similiarly for section B, if the tubes are

straightened in the verticel direction, 1t could be

represented as

G+
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The tube lengths in three equal area concentric |r

segments may then be reprecented by the following

diagram, !

@2 L e as

g R

e

The three concentric segments representations of '

sections A, B, and C may now be added directly.
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If one has separated two phase flow entering the o
1
tubesheets where the licuid is going into the tubes

at the bottom of the tubesheet, a distribution of

licuid fraction may bes

\
\
f
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During the winding of the large tube bundles, the
tubee which are wound flrst on the mandrel receive
much flexing ahd distortion. Quite often these tubes
crack,.leak, and must be plugged. This reduces the




effective area of the exchanger. From experience
one can estimate how many tubes are going to be

plugged in each bundle section,

FReQueNCY
oF
PLUGGED

Tuaes

o

o
OISTANCE FROM  MANDAEL

The three major causes of local maldistribution,
tube lengths, unequal 1liquid fractions, and plugged
tubes have been discussed, To find the loss of duty

caused by local maldistribution divide the bundle

into concentric segments.of equal annular area.

For each segment estimaté the average tube length,

liquid fraction, and number of plugged tubes, The

following assumptions must be made in developing &
- |
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1, no radial shellside liquid mixing
2. perfect ciroumferential shellside mixing |

3. . equal pressure at any level in the exchanger.

It is apparent from these assumptions there will |

be shellside gas mixing, The following model can

be used to calculate loss of duty.

L_.-_ p ! l . e 4
TUBI:Smc_:T l RILL L0k T
\4

FLow | M Fuew
S

Each colum represents equal surface area concentric
bundle segments, Each vertical segment represents

equal surface area vertical segment of the exchanger.

All inlet conditions are known for each column, »

The following steps should be followeds
| o




venapdoxs [ sfop | i. For & first assumption asaﬁno no shellside ' g J

. o -, gas mixing A E
R A 2. Draw cooling curves for each column and i
' ' o keeping UA constant at 1/3 the design 1M}
R =T value estimate conditions in and out of B

each vertical segment R
3, Calculate shellside pressure drop through S ;

the top section in each exchanger i
4, 1If the AP's are unequal there will be a
| flow of shellside gae in a particular
A : . direction 1t
s 5. Q@uess vapor flows between the top sections 1!
6. Guess a new AH across each exchange section

|
: ,
i 7. CalculateaT's across section and ATyp {
i !‘ between tube and shell streams W
% o 8. Calculate a cross-sectional area, assume e
I | constant U B
o 9. Calculate & new AH = UAMTig LI
. 10. Use this new AH in step 6 and repeat until &
(] 1t no longer changes |
E | 11. Calculate new pressure drop for each top F;
| segment |
; P 12, 1If pressure drops are unequal, guess & [
[ | new vapor flow and repeat from step 6 o
{ 13. When pressure drops are equal repeat the S
1 entire procedure for the second segment B
4 for each column and so on until bottom i
4 segment. SR
" |
3 Reflecting back to local maldistribution in a single ;
SR core exchanger in which the corrugated sheets are open in {
] ?
1 places to the stream next to it in the same layer, a &’4
ﬁ | gimiliar analysis with gas mixing should be done. ‘
g 4 !
i Qﬁ: One can now draw a cooling curve for each column i
3 | s
| in the model and calculate the duty of each. Quilte ?,{
g often no shellside gas mixing can be assumed which f {
] “f . greatly simplifies the analysis, A
Sty L , CORRESPONDING LOSS OF DUTY . aiii
- : 1 ‘ ' a e Coo : oo, oot T -"':\ . T ————— . i I
e : S0 far random maldistribution has not been taken : & 1§
it Q¥ - . ' ) L
il ] ' B . i B
| | ' oo into sccount, Random maldistribution exists when *i:
! 33. _ : 11 r
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tube flow rates different from design are randomly

S | distributed through the bundle, Since the flow

AU variations are randomly distributed, a cross section

:7 i ' ' ;
| | L . of the tube bundle will always show a constant

shellside tempersture assuming no local maldistri-

bution, Maldistribution effects tend to partially

cancel and entropy of mixing exists only at the o

tubeside exit. This type 1s not as serious as local

maldistribution but will present itself in all systems.
One type of random maldistritution has already

been discussed and is that caused by instatilities,

It will be assumed that the instability which 18 a

function of two phase flow rate has been ellminated

o and that the effect of the pulsation type is negligible. *

{ The variations of tubesheet pressures due to
; header AP's cause another type of random maldistributlon. w 
| Since each exit tubesheet has an equiprobable chance
of having tubes connected to an entrance tubesheet, 1t i

;_ can be assumed that an equal number of tubese connect all i
i possible combinations and entrance and exit tubesheets,

B ' For instance if one has eight entrance tubesheets

P and four exit tubesheets there are 32 dlscrete
~ ' pressure drops in the bundle and therefore 32

Ha | ‘ discrete flow rates due to variations in tubesheet

“:_n:g)‘_g.a.._-.?:gq P TR, -

pressures. There tends to be & normal distribution
O T Tt A S B T | - ' = |
| b , T o | of, pressure drops in the bundle as many of the | A
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discrete pressure drops are the same, Il
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In calculating the actual exchanger duty the above 'i
random maldistribution must be combined with the

local maldistribution.

The shellside cooling curvee for each column

have been drawn neglecting rendom maldistribution,

Take one of the three model exchangers and l1solate

1t, Consider each discrete pressure drop due to

N variations in the tubesheet pressures in the

::‘ isolated exchanger as & gseparate exchanger., If

3 there are five discrete pressure drops there are

l five separate model exchangers each with a different
tube side flow and the same shellside flow. This

can be done for each of the three concentric segments.,
We now have 15 separate exchangers representing the

o - bundle., Draw a cooling curve for each of the 15

i R

A T R T R

exchangers keeping the UA of each proportional to

the number of tubes in each., Find the duty of each

i e T e e -

L - : and sun the UA's to check to see if it equals the

| ' ) # design UA,
! ‘ . ' . .
| S - - - 35,
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It hes been found by past experlence that the
percent loss of duty "L" is equal to a constant "K',
which 18 particular to a tube bundle, times the
percent maldistribution souared (L”- Km?). The
percent maldistribution, %, is defined as the percent of
maximum and minimum deviation from the mean when one half
of the flow is at the maximum and one half of the flow
18 at the minimum, For instence if one half of the
tubes are flowing at 90% the mean and the other half are
110% the mean the maldistribution is 10%, In the case
where the maximum and minimum percent deviations are not
equal the largest absolute percent deviation 1s used as
a congervetive estimate., The value for K must now be found
for each segment,

The cooling curves for each column have been drawn
neglecting this random maldistribution. Take one of the
three model exchengers and lsolate 1it. Assume some percent
maldistribution "m". Consider two exchangers equal to the
one we have isolated. Keeping the same shellside cooling
curve for each, let one cerry the low flow and one carry
the high flow and draw a cooling curve for each maintaining
the same UA in each case. Find the duty of each and average
the two; The difference between this duty and the duty
before considering maldistribution 1s the loss of duty.
Find the percent loss of duty "L" and evaluate "K".

K= ﬁ7m2. Repeat this for each concentric segment to find

a value for K in each,

36,
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Another random type of maldistribution must nov be i

incorporated into the analysis, It is caused by vari- | iél;
ations of tube inside diameter. Tube vendors usually ’;j
give a maximum and minimum inside diameter. It may be ‘i§;§~
assumed that the diameters are uniformly distributed %l 1
between these 1imits because the varlations are due to 1l

the gradual wearing down of the dies. This means that é

% ] every tute will have a different diameter of uniform §
3 if» , : distribution between the maximum and minimum tolerances. iié
-f With a constsnt pressure drop through each tube the flow d;%

vg can be approximated as being uniformly distributed. 3
? ;i (Actually flow rate is proportional to dlameter to the }i:_
E i*' 5/2 power.) We wish to find what this effect has on loss "f
3%4’ ' of duty. Consider the following eouatlon L”- KZ° which .5:
?jﬁ' ' hae already been discussed., This equation 1s accurate i‘
ké? for percent loss of duty when one has discrete flows .
;ﬁ} symmetric about a mean flow rate as indicated below: |
o B

3 3§53§ : NUMBE R - f f
| i,i‘l ! ,
e ® ] ;‘g
i Flow (% or Mean) o
i’4 . The equatlon L'= Km® would apply to this distributlon. MEJ';
’;é | | If one would apply this equation to a‘distribution EE !%
| f | ' . ' such as$ ; ﬁffhi

i | | : - | | 5T )
j 1l




—

D
, !
ifer
|
NUMBER
il (I 1
TUBES
i
{
|
|
|
qo s 1753 "
Flesvs (:"7.", o f-‘\chn)
he could say {
|

L average = K(#ii12 + #iin°)
where ] = 10

ﬁl2= 5 \

Applying this still further to the case of uniform
flow distribution due tovariations in tube 1nside
diameter one could write:

where I = maximum flow deviation for the mean

xR ETEAL T A

(@ - 3(28)/8-1)2 + ... + (& - (N-1/2)(28)/N-1)2]

?JF= 2K/N§m - i(2m)/N-1 2

Recall th2015 model exchangers for which
maldistribution due to tube inside dlameter variation
has been neglected., A duty for each has already .
been calculated, Finding the maximum and minimum
flow rates for each of the 15 models and applying the
above equation to each one may calculate the loss of “f
exchanger duty and the actual exchanger duty of each. ;m

8.

If the actual exchanger duties are summed one will _ | fa%
o i
i }’
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get the total actual exchanger duty. The desizn

duty less this value will be the loss of duty.
|

Eomeo e o aon -~

If greater accuracy ie desired one may &0 back to ‘;
pege 32 and calculate new shellslide flows for each con- g
centric sezment using the actual duty. Thls may be
repeated until converaence. Also for gre-ter accuracy .
one may divide the exchanger into more vertical and
concentric segments, One can see the tremendous amount
of work necessery for an accurate appraisal of the loss |
of exchanger duty. If an example can be worked through ;
by the above, one would be atle to tell where approxima-
tions can bte msde that would simplify comnutetions.

EXAMPLE DESIGN

A typical ring header for a cryogenic exchanzer will

now be designed., It will be assumed that the tute bundles

have already been designed as arranzes In fizure 10,
A model of the rins header will have to have the dimenelons
of figure 11 to fit the desion of the rundlczs, The par-

ticular stream that will be examined maxes up only a small

part of the overall exchanzer. This stream will be called

the feed stream. The feed tubes make up 100% of the ﬁ

exchange area in the C bundle, 35% of the D bundle, and

524 of the E bundle. The remaining tubes in each bundle

contain another process stream which 1s not under consli- L
g
deration and will be assumed to be perfectly distributed. . 53
i g

Because of the small heat capacity of the feed stream fw@
? AJ
i

compared to the shellside flow, it may be assumed
39.
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TAUE e mial adt et TTlu aglav o1s2 gee [ vy that the shellside stream will not be affected by ,TE *
small changes in feed stream flow. Rl
- The inlet conditions will first be examined. i i !
‘ 1
1 , ) The following data is available: a5
i,? | Composition at 520F and 592 psia i ]
. :[ - ! §
1B Component liquid % vagor Total |

(i No 1—58-55- 012~ ,0115 i

A Cq 1771 7355 .7103 ,

t i C3 .2718 .0766 .0854

S C4 .2840 .0279 . 0394

w j Cg .0762 .0029 .0062 |

1 c 01 .0002 .0010 ’

| S T 00 —T0600

b |1 Total moles (%) 4,506  95.494  100.

K Mole wt. (1lb/mole) 43,573 21,7154 22,7
1 Density (1b/ft3)  30.67 2,827 3,077 |
il | ? Viscosity (cp) 0.0924 --- ———- o

i (1b/ft-hr) 224 .027 ----

] fo | Surface tension (¥) of the liquid may be estimated l‘;

| ﬁgf Component ) (dynes/cm at 52°F) % Composition |

i N2 0 x  .0008 =0 15

| C1 0 X ATTL = 0

I Co 2 X 1719 = 0.344

C Y | O3 9 ' L2718 = 2,44 i

i) Cy 14 x .2840 a2 3,98 E,?

Bl s 17.5 x  .0769 =z 1.5 ir

il Cg 20 x 0174 a2 0,340 oy
3#;‘| Total surface tenslon 8.442
¥}’£ ' Total flow rate will be 10478 moles/hr., (molecular

S : welght of mixture = 22.7)

4  LLd | Before estimating the two phase flow pattern '§{5
1Qf' the pipe sizes will have to be estimated from the :1%[
i - ’ ' , Hi
I»ﬁ | . | o pipe flow chart(:>and table 1. Because of the small 3

( : N . s :‘ ! ’

. et e amount of liquid assume single phase flow. g’ i

i , 1 Y- . . N . ) 7r h
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3
b
Ring header R
T = 10°C f', | 3
MW i622.7 ph 1}
He*0/C 18 read from pipe chart as 8.5 e ¢
| ' Pg = 40 atm 5
bl : APp'/L = ,0007 from table 1 g
E | Reference line reads = 7.4 C
| Welght flow (M 1lbs/hr) = (total moles rate/ N
| 2 streams in ring)(total MW) = 119,000 1lb/hr b
| The inside ring header diameter 1s estimated {
f ,‘ as 13 inches, |
- - o
| j o
| 3 The ring header will be made from aluminum sheet o
‘ bl
| 1
g 0.625 inches thick., Therefore the outside diameter 1
will be 14.25 inches, The nearest piping avallable .éf
{8 14 inches and the inside dlameter (Dy) will be |
12.75 inches., E:f
. Branch streams (same as ring header) ¥
;: i T = 100C 1 {
Mi = 22,7 .
Pg = 40 atm L
! ‘ APp'/L = ,0007
| | (aPg'/L) (Pg) = ,028
o . : Reference = 7.
b - Mass flow rate = (total moles per hr/ 8 branch :
% streams)(total MW) = 29,700 1lb/hr u
‘ o _ Branch inside diameter = 7 inches i
i : - o
‘? | ' ! The branch piping will be made of schedule ,f:
a :éﬁ‘ ' | | : 80 XH aluminum, At 8 inches nominal size the Inslde ;;ﬁ
ol ‘ s
! ikf diameter (Dg) = 7.625 inches, f ﬁ
AR di
1 i%ﬁ Outlet symmetrical piping at P = 565 psia and 2B
; Phi T = -2060F g
4 ,“?t : ’ i
: ﬂy' <QV2 = 1500 1b/sec2ft2 (based on APCI experience) , 55&
T Q= 30,7 1b/ft2 at -2060F i
Pl ‘ V= 6.99 ft/sec = a/hp e
s N o . where Ap = cross sectional area of pipe f hﬁ
A :! ' | a'= volumetric flow (ft3/sec) g
. | b s TR s
Ip.  % ﬂg = dp v | :Mahf
- " £hN \ i
i ' ' v AL
’ |
R




e e e

— e

ey aeype-

B o,

S Lt e fa

= (total moles/2 branches ) (total MW)(1/¢
of 1liquid) = 1,075 ft3/sec
Dp = 5,3 inches

The outlet piping will be made of schedule
80 XH aluminum, at 6 inches nominal size the inside
diameter (Dy) = 5.761 inches,

The first estimation of pipe sizes have been
made and results are:

inside dlameter of ring header = Dy = 12.75 Inches

inside diameter of branches from ring = Dp =
6.725 inches

inside diameter of outlet piping = Dp = 5.761 inches.

The two phase flow patterns at the 1nlet header

now will be examined. The Baker chart (fiz. 8)

vill be used.

!

N= ((¢g/.075)(0;/62.3))% = 4.31
where 0 = 2.827 1b/rt3

0L = 30. 67 1b/f3
N o= (T3/y ) g (62.3/¢1,)°)
where )T = 8.442 dynes/ cm2

L AL .0924 cp
L/G = (moles 1iouid/moles gas) (MW liquid/MW gas) =
0.095 1b 1iquid/lb gas
where L = mass flow rate of liguid (1b/br,ft2)
G = mass flow rate of gas (lb/hr £t2)

Ay = TDy2/4 = 0.89 ft2

where A74- cross-secgional area of ring header (££°)

Ag = NDpe/4 = 0,317 ft
, where Ap = cross-sectlonal area of branch stream (

GH (total mole flow/2 streams)(moles % of gas)
,, (MW of gas)(1/Ay) = 122,000 1b/hr. £t2

(L/G)W = 2,57
G/A 28,300

From the Baker chart, the flow is in the annular
flow regime for the sectlon of the ring header

before the first branch stream. gimilar calculations

are done for each sectlion of the entire ring header.

42,




T v

ST T e

If nearly ecual flows are assumed out each branch,
the flow ie annular in all sections except the last
which 18 in the wave region. All four points are
placed on figure 8, If the liquid rate (L3 in the
last section 1s increased slightly at constant (G),
the flow regime will become annular. This will
probably occur because of the momentum of entrained
1liguid drops. Because the liouid volume fraction 1s
small (0.87%) it does not really matter 1if 1t 1s

not perfectly distributed. Two phase denslty,
pressure drop, and liquid hold-up are not significantly
effected by variations in liguid volume fractlon

at such a low, non-slip volume fractlon. However
just the fact that a small amoynt of liauid 1s present
causes the two phase pressure drop to differ signi-
ficantly from the gas phase case and necessitates

1ts consideration. Because of the fact that the

two phase mixture enters near the dispersed regime
and the liquid and gas propertles are within an order
of magnitude of eacp other, the annular film in the
pipe will be nearly symmetrical and there will be
much liquid entrainment in the gas phase, It will

be assﬁmed from this that equal gas-liguld retlos

occur in each branch., It will also be assumed that

no liquid will accumulate in the header because all

43,
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s doky fuo Nognrss sin cowelt [awns. : X - 4
. 7 et Lo pleen %Y flows are in the annular regime and any excess b ‘
T S R S DU RO CIH
oA it e accumulation of 1iquid will form waves that will tiEl
“ be entrained in the high velocity gas. i E
) ) | In the branch streams, assuming near equal flowss ’!L‘
GB ((total mole flow rate)/(8 branch streams))
1 ’ ga 8 mole fraction)(nw gas)(1/Ap)
]! G 85,500 1b/ft2-hr
E I ; : G/A = 19 800 q
: 18 g
: <ﬂ Again from figure 8 annular flow exists. The S
f‘ %ﬂ Baker Plot is not as accurate for vertical flow as :'E
] ',:‘f i "
F ] horizontal so the flow patterns should be checked ";g
A ) ;1
. by other methods. )
e By the Griffith and Wallis Chart (fig. 13)i ¥
A )
i ?fﬂﬁ QL = volumetric flow rate of lilouid [»?
i = 0,0233 ft3/sec [
f?{? ‘ QG = volumetric flow rate of gas g
i = 2.66 t3/8ec |
i = 32.2 ft/sece i
o f% 7 )/AB)2/5cDB = 3.53 B
i Qf, + Q3) = 0.992 .
bl I,
h :’li Flow is on the border of the slug-annular reglon, i
: ffﬂf By the Gowar, Radford, and Dunn method (fiz. 14): i
g ) 1
fl. ;W * = 00735 ‘; R
AlE . ) !
%JH? Flow is in the froth regime according to this method, ;
i o | j
» Aﬁ%JL One can see that all three methods give different ;
§ oI . : . N - _ - 13
%?yJ | results because of the limited amount of data used I
il ' I
: r#;; . in the correlations., Because of the low liquid ffj
e | ' flow rate it may be assumed that slug flow will e
I ' o not occur which 1s what is most important, x r
| ik
il 49 il
: { 3
i .
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8ince the branch pipes are vertical, the 1liquid
volume fraction actually existent in the pipe 1s
necessary for pressure drop due to fluid head cal-

culations., By the method of Hughmark on page 18:

NRe *® 12(Ry 'y, « Rp'va)
Nre = 1. 8 x 10 !
Nep = 12540 OEB/Dn
Npp = 3.52
where Dp = 7.625 inches
Gp = 85 500 1b/hr.ft?
RL' s 0087
Rg' = .9913

224 1t/hr.ft
.027 lb/hr ft
2.684 ft3/sec

l(L
I 5

an

Z = (NRe)1/6(Npg )1/8(RL)-4 - 42,3
from figure 4 = .9

Ry = 1 - K(Rg‘)
RL= .11
=1-RL
< o
R = 3,7 x 106 with new values of Ry and Rg

39,6 which is no appreciable change
therefore R, = .11 1liguid volume fraction
Rg = .89 gas volume fractlon

The flow pattern in the tubesheet header (fig. 15)

should be examined by the Baker Chart (fig. 8).

a'= (moles flow rate total/number of tube sheets)

$S25 inches

(.955 gas mole fraction)(Md gas/A

where Dpg = dlameter of tubesheet =
Apg = cross-sectional area of tubesheet

1.62 ft2
G = 17,250
6/ = 4000
(L/G)AY = 2,57

Flow in the tubesheet headers would be on the border

of stratified and wave flow 1f entrance effects are

45,
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neglected, However with the design of thc header s

such as it is there will be butbling and turbulence. ;

It might be assumed that all of the liquid enters
the lower one third of th: tubes, To say
that liouid alone flows in the bottom tubcs neglects
the entrance effects of bubtling wi:ile to say that the
liouid is perfectly distrituted neolects the steady
stte characteristics of phase sepnration.
Two phase pressure Zrops at various flow rates L
in both the ring header and branch streams will be
needed later on wren the pressure drops are aded
for a particular stream., Since a trisl and error
solution will be necessary an? the calculation of
two phase pressure drop 1s lenathy it would be wise
at this point to graph two phase pressure drop (\Prp)
versus mass flow rate G for both the ring header

and branch. The Chenowith - Martin method will be

used.

In the ring header

APn#/L = AfFGTPE/QScQ@DH

Ngog = DH3TP/{7 = 5.27 x 106
»  NRel DHGTP/}(L)@ 6.3 x 105

from Perry 8 L

E/DH = ,00014

fg = .0032

f1, = .0036 ‘

where AP,* = ficticlous gas phase pressure drop (psi) [;

L = length of header (ft) N
Gpp = total mass flow rate of both 1lilquid e

and gas (1b/ft2-hr)
- gas phase fanning friction factor i
based on Grp it

fa
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= head~diameter (rt) 18
= gas density (1b/ft3) o
¢ = roughnaaa coafficient fromw Peria s f
Chem1c21 Ehglnoera Handbook
APg*/L = 6.36 x 10-9 pai/ft |
: APGR/APL® = fGUL/fLig = 9.7 |
¢ APL%/L « 6.56 x 10-5 psi/ft
h from figure 5
| [ APpp/ PL® = 36
| /| APpp /L x 10-3 psi/ft at 3pr = 133,600 1b/ft2-hr

By a similar method the following values can be

obtained.
/L (psi/ft) 3ep_(1b/ft2-hr)
_3%6 x 10-3 133,600 |
1.29 x 10-J 100, 000
8.55 x 10-4 66,800
2,10 x 10-4 33 400

These values are plotted in figure 16,

To find /.Ppp/L for the branch streams the same

" procedure is used again.

NR = 2,22 x 106
o = 2.68 x 105
€ §Du

e ——

.000236
fg = .0037
fL = 0042
where G op = 94,500 1b/fte-hr (averase)
/AP* = 9.6
AP* = 4,45 x 105
“PTP/L = 0,001555 psi/ft |
Summarizing for branch streams:
I APp/L (psi/ft) Grp (1bs/ft2-hr)
L 3 0024 124,000
g o ,001555 94,500
' : : ; .000345 50,000

These values are also plotted in figure 16,

The pressure drop in the tube bundle must now

B i be considered. The cooling curves (enthaby change
! f versus temperature) for both the feed tubeside flow 2

and the shellside are drawn for each bundle C, D, and E.

! : :
t: : ' . 1;75. ;
g

o




The overall heat transfer coefficient times the

surface area (UA) 1s found for intervals of feed N

stream temperatures by the equation AH = UAATIoe mean: o

The tube lengths in each bundle are known., If U

L is assumed constant over a single bundle it can be o

} “ A )
] { said that UA 18 proportional to tube length., A

length of a tube segment can now be found for each

feed stream temperature interval and a plot of tube

i .
| ‘ ‘ length versus temperature cen be plotted ( see fiz. 17). |

5 | Next differential pressure drops at particular feed
strcam temperatures are found, It must be remembered
, that the liquid-gas ratio 1s changing because of the
" ' ‘: heat transfer. A temperature is picked and the
liquid fraction without sllp is calculated. The

differential frictimsal two phase pressure drop 1s

; ‘ \ calculated from Chenowith-Martin as described earlier.

? ‘ Next using Hughmark's slip correlation the actual
liquid fraction with s8lip can be found and the differen-
tial pressure drop due to fluld head 1is found. The

e
I . : { pressure change due to velocity change 1s also

“ ' calculated., As one can see this 18 a momentus task Ei

and was greatly simplifled by partially computerizing ;;(

/
!
| ya_” E 1t QD. Results of an average case are tabulated in i

i - ' i table 2. The differential pressure drops are averaged

|
& for each temperature interval and then looking at §s¢

ui

7 u}; : : { figure 17 one can find a tube length for that particular
K. il : ‘ I

; ' ; ' . 48.
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interval, To calculate total frictional prcasure
drop in the tube bundles cach tube length is multi-
plied by the average diffurential frictional pressure
drop in that segment and totaled. To calculate

total head pressure drop the vertical height per

tube length must be found for each bundle. The
product of this ratio times tube length times average
differential herd pressure is totaled. The velocity
head can be found from the velocity in minus the
velocity out (see page 12). All pressure drop in

the heat exchange part of the bundles has now been
accounted for, There i1s still the pressure drop

in the tubes between the tubesheets and bundles

and between the separate bundles, By examining
figure 10 one can estimate these vertical and
longitudinal tube lengths, It 1s assumed that no
heat transfer occurs in these sections. The differential
pressures are interpolated in these reglons of known
temperatures and multiplied by the corresponding
lengths, It must be noted and taken into account
that the entrance tubesheets are at two different
levels; four at each level, The total tube pressure
drop is now known at a particular inlet flow rate.
When the ring header is designed later a~plot of

tube pressure drop versus inlet flow wlll be needed

over a narrow flow interval (see fig. 18),
49,
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8ince pressure drop in the heat exchange tube has 1;
just been discussed, it 1s appropriate that thc syatonm | !
18 checked for stability at this point, Presrure drops
over a& large range of flow rutes are calculated by the
above method, Figure 19 1s a plot of this., It c=n le

gecn that an unsteble region exlists between 11,5 and 1F
psi. It 1is unstable in that two different flows mav occur
at the same pressure drop. The rest of the curve 1is
continuous with an increesine slone and shows no other
instabiliti.e. At less than 15,000 1b/ft2-hr, the prassure
drop due to fluld heuad btecomcs 1l rger than the frictionel
pressure drop an< the pressure drop at no flow 1is
equivalent to havine the tutes filled with 1liculd,

The workina pressure drop will be a2t mess flow ratee
between 185,000 and 190,000 1b/fte-hr. In this rezion
there will be no instabilities, Also liouid runback will
not occur because the working pressure 1s ereater than

when the tutes are filled with liouid., Apparently the

type of two phase inst=bilities as presented on pave 18

do not exist in this case. This 1s probatly due to the
hich pressure and the long tube lengths (517 feet).

Tube pulsations will be next examined, An averare
tube léngth 1g 517 feet with cross-sectional area of
0.00083 ft2 the tube volume 1s therefore 0.43ft70,

The average tube pressure drop is 26,8 psi or

3859.2 1b/f’c2 as was calculated on page 60, The 0

50.
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average heat duty per tube is 12 Btu's/sec. Assume
12 Btu's/sec will be transferred at the tube inlet

and the entire pressure drop, (AP = K0oV22/2g,.),
will occur at the tube outlet. The rest of the tube

is adiabatic and frictionless, Fluid properties

at the inlet are constant.

Q1 = 3.067 1b/rt>

.%_

|
¥ . |
Q = 12 Btu's/sec AP = 3859,2 1b/rt2

The constant K must first be evaluated from design

conditions,

Qo = 30,7 1b/ftd
gf - 32,2 ft/sec?
Vo = 1,6875 ft/se
AP = 3859.2 1b/ft
K = 24Pg,/0pVe?2 = 2848,.87

At time (t) = O- assume no heat flow (Q. = 0).

<

o7
5.339 ft/sec

Vo ,
V1014 = 0.01349 1b/sec

=0 (Q=12 Btu's/sec)

= QaVa
\'- B

A plot of m/pg versus m] must be made from the following
51.




B table, Assume Cp, constant and equal to 0.69 Btu's/1bOF

and » constant and equal to 103 Btu's/lb, See figure

| ' 12 for the plot of my/ 4 versus my,
3 ™F T P (Cn-T *Rp.-)-.891 _m} t ®1/o
| , 52 "0 .Ooéés 0 T T T~
; 38 14 L0156 10.376 1.157  3.262 .3547
| _ . 25 27  .0226 20. 069 598 3.465 .1726
| 11 41  .0316 30. 654 391 3,721 .1051
-2 854  ,Chl4 40,633 . 295 4,002 ,0737
-16 4P . 0535 51,34 2337 4,403 0631
-29 81 . 0685 62,055 . 193 4,844 L0308
-43 95 ,09C1 73.939 . 162 h. 462 ,0297
-§7 109 .12 86.679 J138  6.272  .0220
; -70 122  .165 100, 284 .12 7.445 0161 |
-84 1%¢ 255 119.214 .101 9,580 ,0105
-97 149 456 148,887 .081 13,917 ,0058
-111 163 1, 214,579 ,056 25,012 ,0022
-125 177 1. 204,239 L054 26,034 00207
-138 190 1. 233,209 ,051  2€,904 ,00190
-152 204 1. 242,869 L049 27,776 00176
| -165 217 1. 251,839 .048 28,535 00168
" -178 230 1. 260,809 L046 29,256 ,00157
| -192 244 1, 270. 469 J044 29,994 ,00147
| ' -206 258 1, 280,129 .043 30,700 .00140
my/. o = Vob

-8
Vs = 5.339 ft/sec
A"= ,00083 rt°
my/ g = .0014
from figure 19
m/ g = .0044 when my = ,095

It takes (tube volume {'g/my) seconds for new density

fluid to reach restriction, Summarizing:

| . @y = 3,067 (, =21,136 (= 3.067
Vi = 37,319 Vh = 5.339 V5 = 5,339
m= .095 mg = .095 ms = .0135

At t ='vol, ©,z/m3 = vol/VoA = 98 sec; P2 = Qg = 21.136

R '
i ~ : __ Vo = \2aPgo/eoK = 2,034 o
FIE . my/ea = VoA = .00169 ’ |
"i T ‘ . . ' ml - .048 .
i’ ' L . . . X ' . Qa = 28.402

e e T e e TV




C T et At t = vol/VoA + 9B = 352 sec; ('p » (4 = 28,402, é

. ' Vo = . 2:Pge/ K ® 1,7544
. - m]/« . 081 lg}é
) : .0l
30 210
. . :;; ' The results are:
J | ' f * ’ . time (sec) my (mass flow in 1b/sec)
P ! . . 0- -
: | | ' 0 095
98 .048
352 .044
647 .043  (desian)

Figure 20 is a plot of these values., Tlhe pulsations

will damp out in at least 10 minutes after startup,
Enough information is now xnown so that the

exact flows in the branch strcams may be found by

a convergence technioue. Referring to flaure 11

and pressure drop enuations presented in the text,

one will get the following equations,

: equation number 1

4,53810(1.8q52/Do% - .36 q102/D12Dp2)

l& P12 =
AP12 = .064802
where ( = 3,077 1b/ftJ
D; = 12,75 inches
D> = 12.75 inches
Q2 = 10,736 ft /sec

q] = 21.472 ft3/sec

Because graphs are drawn as G(lb/hr-ftQ) versus
o ‘ APrp/L (psi/ft) and equations are worked in terms of
i ’ . . :

. | q(ft/sec) the following useful relations will be

needed.,

] | | - 12,493.42 qy | Q
| - - Gp = 34,920,449 q .

- Gn = 70,042,616 qf - |
53. |
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vhere H refers to ring header
B refers to branch pipe
T refers to tube

from figure 16

o ay = 10.763
| Gy = 133,624
; APrp/L = 0,00225 pet/tt

from fiqure 11

L = 2.0 2 ft
; 82545
equation number 3

HP3g = 4.5381 (1, 8082/033 - 0.368q30, /Dy2Dp?)
where . = 3,077 (1b/ft

DB = 7.625 inches

Dy = 12.75 Inches

a3 = 10.763 (ft3/sec)

Qg = variable (ft3/sec) particular to

each branch
= .007436042 - ,005837q,

i a?liar
| “ Pgg = 00714360a - .000542qa05
' ’ similiarly
AP7gq = .007436qg2 - .000542qaq7
similiarly
APgg = .0074360,2 - .000542q,q
where qq = variable (ft3/sec?

from figure 16
= \
= Z , 493, %2 a4

3  | from figure 11

L = 6,28 ft
AP45 = (APrp/L)(L)
similiarly

Q6 = QZ
493 32 q
= 6, 2é 8

AP6 = @PNJLHL)
" sim 11arly .

iﬂﬁﬁfﬂ' . ~ S | - 13,495 %2 a8
' §§',| ' 3 L = 6 Qé
Ih : : APgg = (APTP/L)(L)

| . - 56 | 14
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equation nuadber 6

AP3y = 4,5381.(1,3
.72q3q$/D§g
where - & 3,077
AP34 = 0007188032 - 0003382032 84
AP34 =, 6a4c - ,0003382 - ,0003
liailiarly ) 3 1394
APsg = .0007186a6< - ,0003382qc2 - .000384
aiggliarly 6 %5 9695
APrg = .0007186ag?2 - .0003382q72 - .000384q7qg

2/psd - .6hax2/Dad -
e - S

from figure 16

Gpy) = 34,929.449 ap)
from figure 11
F} = 3E9322 fee§ ( y
A friction) = (/.Ppp/L)(L)
aig?}larly TP
Gp2 = 34,929.449ap2
Lo = 1.4322 feet
APgpo (friction) = (-Ppp/L)(L)
elm?fiarly
= 34,929,449qpg3
g§3= 369322 fee§ ( y
A friction) = (~.Ppp/L)(L)
aig??iarly TP
= 34,929,449q
g§4= 1.4322 feet Bl
APgpgy (friction) = (APpp/L)(L)

In the branch streams which are vertical the gas
velocity 1s greater than the liquid velocity. This
is known as slip., Hence the density of fluid in
these branches is greater than the density at the

inlet.

. 11 = Rift1 +
Crplelip) = Bifp. RGS

« 01T §+ .89(2.827)
= 5.89 lb/ft

where Ry, = volume fraction of llquid
Rg = volume fraction of gas

from page 8

AP head) = Opp(8lip)Lpy/144
ABSP] (head) = 0.160837 oY/

. 'Where Lgy = Lgz = 3.,9322 feet
55, |

g PR R v (e oL e o e

s i




.

114

3
. _._I

similiarly
AP.bg(hud)l &”1 (sl1p) 144
58581 2
vhere Ln - an = 1,4322 feet
‘P.b3 ( haud) . 160837 psi
»Papy (head) = ©, 058581 pai

equation number &

& = 3.6283 ((K, p1?/
Bﬁ%re qu- flow in trnnc ?? /eec? BTSE

Dp = insidc diameter of branch (1nchee)
= 7.625 inches
Dpsy = insido dirmeter of tube sheet
header (inches)
é? 25 inchee
= 3.7 x 10 as crlculated eailier
usgng gr phs in McCate and Smith
2 = C.1954
5 (this value will not appreciably
change for the brench streams and
will be consigcr'd constant)

I\Pbcl - - 00103 Opl
similiarly

APpe2 = - 00103QQ2
/Ppe3 = -.00103ap32
APpoy ® - 00103054

equation number 5

APpg = 3.6283(((K, + 1)q 2/9T‘4 - qp
gere qp = flow throug a single %ube ?gt/sec)
= 8qp/Ng
Np = total number of tubes = 1525
= lnside digpeter of tube = 0.39 inches

from Mbcgge ang Smith(
(NT/ES)% 6/DTSH = 0,09744

KC 0.4 (this value will be assumed constant
in the branches)

AP = 0.018466qp1°
23281 2 00184663052
AP 063 = O, 018466 4
APogl = O. 018466qB42

from figure 18

Gg 70,042,616qg
8Bge1 = APge (upper tubesheet)

APae2 =APge (lower tubesheet
Ap§§§ -szdg fupper tubesheet

APgel = Pge (lower tubesheet
56.




s equation number 4
.o - APgr = 3.6283r((Ke - 1)ap2/Dp* ¢ qp2/Dpgyd) o
Thie is at the exit end of the exchanger. The

13 4
—

P X :

1 _ fluld is all liquid. Becausc of the randomncss of
tubes in the bundle each exit tutesheet will be at the
same pressure and carry the same flow,

ap flow in gach outlet pipe
1,076 rt /epc

2w 30,7 1b/ft3

Dp = 0.39 Inches

DTSH 31 5 inches i

NP C 1 285
(§$/2 DpQ/DTSHQ) = 117 N

= 79 from McCabe and Smith

" ~ equation number 5

AP 3.6283(( (K ~1 4 - 1/Dpsp?)ag2
fﬁere 1, O7g ft ééng TSt Jp

z

| QP 30.7 1b/ft

‘ 31.5 inches
: II*J)TGH- 9 x 105

= 5.761 in
from Mccgﬁe and Smithcﬁ8
Dp /DTSZS = 0.0334 |

Aﬁfs 0.169632 psi

- equation number 2

- -
ABgp . 11) = 174£q2LQ/D,2
f | - aggeréji 14, %14§y?get

x 105
from Perryes(:?

i : ,_ ~ §/p_= .00031
o] | f 22,0039 - »,

i o Coe e ‘ equation number 10

]
S5
§l1 B N S A © ARy = 5.44570q 2/p
} i b e e . ' '

—~
it

0.1757g2pp81
5T.

-
i
o
'_'-J .
oo -
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equation number 11
APyx * 4.5381 " (2(29,)2/Dc? - .4qn2/D. 4 -

Jk ’82 2/Dp2q g) Dx P /Dp
5.761 inches

! ' ’ h « I q
| . . C vhere DB - 8§ -
| APyx = 0.59283

Equal flows in each branch stream will first

.
| be assumed (qp = 2,684), The pressure drop eauations

APtotal (1k)

5‘80

8- ax are solved and the results are presented in tabular
form,
TRIAL 1
! _Branch number 1 2 b 4
ay 10,736 B.052 T~ 5.388 2. 0834
aB 2.684 2,684 2,684 2.684
Ly 2.02 6.28 6.28 6.28
Ly 3.9322 1.4322 3.9322 1.4322
Gx 134,130 100,597 67,065 33,532
Gy 93,750 93,750 93,750 93,750
", Grp 187,994 187,994 187,994 187,994
‘1 A P12 .064802 .064802 064802 . 064802
; A P3g .037901 ---- -—=- ~—--
» OPo3 . 004545 . 004545 . 004545 .004545
OPeg -—— .041854 ——-- ——--
AP7g ---- -—-- . 045758 ----
AP9& m——— -———— _—— - 0049663
APjs — .008541 .008541 .008541
APg7 —— —— .005150 .005150
OPgg -—-- -— -—-- .001790
| APz --=-  -,025587 -.025587 -.025587
| AP5g S — ———— -.017818 -,017818
AP7g - .——— ——— -.010101
! APgy (friction)  ,006056  ,002206  ,006056 002206
= (head) .160837  .058581 . 160837 .058581
) A Py, -.00742  -,00742 -.00T42  -,00742
A Peg 133026 133026  .133026 133026
L APde 26,420 26,942 26.420 26,942
B APgs -.002013  -,002013  -,002013 -,002013
S APy .169630  ,169630  ,169630  ,169630 E
T APgR + 1) .053648  ,053648  ,053648  ,053648 .
i O Ppy 175722 175722  ,175722 175722 .
ng <>P3k .992831 .992831 992831 992831 a
] ¥
g : 28,2095 28,6123 28,1877 28,5992 ]
l




AP = Kq2

e Bbar . ﬁ&q(
. QB = APp q grers 2APp ayerage
- ‘verage 8 gl 'g?/aas '\ B3 ;SAPM)/A s 28 4022
Qaverage =
‘QB - q verage ~ 9B

cAPp = R averaze - --Fp

TRIAL 2
Branch number 1 2 3 4
‘O PR L1927 -.2101 2185 -, 1970
¢ q .00913  -,00995 .01016  -,00933
qB 2,69313  2,67405  2,69416  2,67404
ay 10,736 8.04287  5.34871  2,67405
" LY 2,02 6.28 6.28 6.28
Lg 3.9322 1,432 3.9322  1,4322 !
Oy 134,130 100,483 66,824 33,408
94,070 93, 403 94,106 93,403
Gy 188,634 187,297 188,706 187,297
, APy3 069347 069347 069347 069347
, AP3g .038262 ---- ~-e= ~---
J APgg -—-- 041515 ~—-- -
| N~ ———- ———- . 046164 _——--
: ‘ : A Pgg cmee mmeee -—-- . 049296
i éxphs -— .008509  .008509  ,008509
- , , , _ APg ———- -—- .005118  ,005118
A Pgg ——-- -—-- ---- .001790
O Pg) ---=  =-,025655 -.025655 -,025655
APgg .- - -.017838 -,017838
A Pg ——-- -—-- ----  -,010029
APap ffriction) 006095 .002191 .006095 .002191
head) . 160837 .058581 .160837 .058581
A Ppe -.,007471 -.,007365 -.007476 -.007365
e o : OPeg 133933 132042  ,134035  ,132041
i : APgq 26. 26,827 26.535 26,827
- .. . A pd 2:38%  1.3808 1.3808 _1.3898
. - . 28,3128 28,4960 28,3039 28,4828
| AP 28.3

o . , o f ‘ “VﬁrﬁﬁﬁB(e 684/2(28 39888)) = APg(.0419735)
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s Phs
P67
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. Pss

head)

KPde
I Pek

AP
“qp = <041

TRIAL 3

78
Pab gfrlction)

'P“'MLWSE'W"?&W_WT

.00795
2.7010
10,736
134,129
04, 344
189,185

-,00896 00886 -.0084

2.66509 2,70302 2.66627

8.035 5.36991 2.66627
100, 385 67,089 33,311
93,090 94,415 93,131
186, 670 189,327 186,753

069347 069347 069347 069347
.038532 ---- -—o- --=-
g 041209 -—— —---
-—-- -—-- .046463 -—--
.--- ———- -—-- 049009
———- .008509 . 008509 008509
——- ——— .005118 .005118
—— ———- c—-- 001790
eee-  -,025713 -.025713 -,025T13
——— —— -.017682 -,017682
—— —— —--- -.010142
.006095  ,002184 . 006095 .002184
.160837 .058581 .160837 .058581
-.007514 -,007316 -.007526 -.,007322
134717 .131159 134918 .131275
26.612 26,725 26,632 26,742
1,3898 1.3898 1.3898 1.3898
28,4038 28,3927  28.4022 28,3968

= 28,39888
9735 ¢ APB

FINAL RESULTS

Pressure drops are accurate to two decimal places,

Branch number 1 2 3
vAPp -.0049 .0062 -.0033
vgp -.00021 .00026 -.00014
ap 2.7009 2,6655 2.7030

These are flow results accurate to four decimal places,

4

.0021

.00009
2.6665




Nov that flov retes for the branch streams from
the ring header have been established and the systea
has been checked for instabilities, the lose of
exchanger duty must be calculated., The exchanger will
be divided into three concentric sesments each with
an equal number of tubes. It will be assumed that
the 1iquid phase enters sepsrste tutes uniformly
distributed in the innermost segment and gas phase only
enters all other tubes, Variations in tubesheet
pressures and tute lengthe will cause sixteen
discrete flows throuzh the exchanger which will be
calculsted., After findine the numter of pluaged
tubes and where they exist one may calculste the
number of tubes carrying each discrete flow. Assuming
a constant oversll U, a UA for each of the sixteen
flows may be found. It will be assumed that the
shellside flow is uniformly distrituted. Cooling
curves for each discrete flow will Dbe drawn maintaining.
a fixed UA and the enthalpy change of each flow will
be found. The loss of duty for each flow due to
variations in tube inside dlameter will be calculated
and the actual exchanger duty can be found by adding
the sixteen enthalpy changes.

The number of plugged tubes in each segment

Will be found. Since the feed stream tubes are

continuous through all three tundles (C, D, and B)
61,




the Maximum number of tubes plugged in the three
bundles will be lost to all three thundles. The
number of plugged tubes are reported for each tube

layer, therefore the number of layers per segment
for each bundle must first be found,

¢ Bundle
Inside diameter s 120,75 inches
outside diameter = 144,5 inches
effective tube length = 44,35 feet
total surface area = 8850 feet squared

Because the C Bundle is wound on top of another
‘bundle and not on the mandrel it has no plugged tubes.

D Bundle
inside diameter = 30 inches
outside diameter = 143,54 inches
effective tube length = 107.1 feet
total number of layers = 86
total surface area = 21,370 ft2

outside diameter of inside segment =
((0.D.2 - 1.D.2)/3 + 1.D.2)% = 86.4 inches
layers in inside segment = 36(86.4 - 30)/(143.54 - 30)
= 43

* o Lo
N — - — ; = e
Nt et - . - ——
[atadivtn T : -4 = . O —
- TS AT R e YDy e T i
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There are 12 plugged tubes in the firs&9
segment and none in the other tvo.

E Bundle

inside diameter = 30 Inches

outside diameter = 143,54 inches

effective tube length = 134.5 feet

tube layers = 62

total surface area = 26,870 ft2

outside diameter of insider (go. 1) segment =
((0.D.2 - 1.D.2)/3 + 1,D,2)% = 66,6 inches

layers in segment 1 = 62(66.6 - 30)/(143.54 - 30)

= 29

There are 18 plugged tubes in the firs

segment and none in the other two,

From an analysis of the three bundles, the

maximum number of tubes plugged is elghteen. This means

eR




that eighteen tubes will be lost in each bundle. i

To be conservative it will be assumed that all the

plugged tubes are in the first segment of each bundle,

- ' Surface area lost per tundle = (effective length)
(number of plugged tubes)(tube outside diameter)

. Bundle Surface area lost (rt2)
¢ 104,95
252,34

D
E 216,21
Total .20

The effect of plugaing the eighteen tubes will

i
cause the G rate to increase in the other tubes by i
18/1525 = 1.18%. By checking figure 18 this increase
in flow rate will increase the total bundle pressure
drop by 0.355 psi. This small increase in bundle
pressure drop will not appreciably effect the flow
: distribution that has already been calculated in the
| : ﬂ o o ring header.

An average tube length in each of the three
concentric segments must now be found. 8ince tubes
are wrapped around the mandrel in each bundle, the
tubes lose their identity in the circumferential dir-

ection. Also since tubes of one bundle are randomly

connected to tubes of another bundle in the same

%I.; ) segment, one may assume that all tubes at a particular
. A o radius are the same length., The tube lengths in any
'E; : : ‘ o : particular bundle are all equal, It 1s between the

]1’ | S R wumdle that the lengths differ and a definite trend allows o
| one to predict an average tube length in concentriec : %

. ) ' ‘ . . .‘ ‘:65
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segaents. By aotual observance of the tundle winding
operations it was noticed that all tubes of & particular

radial distance maintain their identity in corresconding

radial distances throughout the entire circuit. In
other worde tubes on the outside periphery tend to
stay on the outside while tubes on the inside tend
to follow nesrest the mandrel the entire distance.

This might be better illustr:ted bv lookinc at figure

10. Sections A, B, C, D, and E are drawn in fieure 10,

An explanation of the diagrems of each section as will

be used in this analysis is presented on pages 27 - 30.

DIAGRAM OF SECTICHN A

DL e e S ———— o
PRl aanlear ST

|
’
f
f

b
Wb
Al
i
i
4

The above diagram illustrates the relative distance
tubes from a particular position must extend to be

connected to the tubesheet. The fact that tubes

nearest the mandrel are connected to the top of the
circular fubesheet has been taken into account,
Divide the above diagram into three concentric equal
areas. Find the average excess tube length in each

64,




| ' ; concentric segment by a mathematicsl summation of partiocular
excess tube lengths times the fraction of total tubes in

%ij;; the segment that are associated with the psrticular excess
;;  : length, It is then desired to have the second concentric
;} ‘ , segment have the design excess tube length which will

‘l ‘

'f‘ | have zero variation of tube lengths, Concentric segments

one and three are adjusted to show variations of tube

length from the design case, The resultant dlagras will

be called the ture length variations of concentric i

segment of section A,

TUBE LENGTH VARIATIONS OF CONCENTRIC SEGMENTS OF SECTION A

Sectlons B and C are directly transformable into the

diagrams below,

TUBE LENGTH VARIATIONS OF CONCENTRIC SEGMENTS OF SECTION B




TURE LIENGTH VARIATIONS OF CONOENTRIO SEGNENTS OF SEOTION

In section D the tubes are drawn from the top of
|

Bundle C into eight tizhtly packed columns., Tube
length variation in this case is very slieht, Proceeding

by the same method as for gection A the following diagrams

result.

DIAGRAM OF SECTION D




: o E Similtarly, i?
1
L 1B ?
1 |
§ |
E | |
Hﬂ?i -
3 Hs TUBE LENGTH VARIATIONS OF CONCENTRIC SEJMENTS OF SECTION E |
f ﬁ %
5 .
h L

The tube length variations for each segment are directly

additive for each of the flve sections.

|
FINAL RESULT OF THE TUBE LENGTH VARIATIONS OF

| i
CONCENTRIC SEGMENTS FOR SECTIONS A, B, C, D, ANDE




It osn De seen that the tube lengths in seguent 1
nearest the mandrel are three feet less than design "
and the tubes in segment 3 furthermost from the mandrel

are roughly three feet over design., This will lead
to maldistribution prodleas,

Pressure drop versus flov rate for each segment

gust be plotted., It has been stated that in certain
tubes of segment 1 all liquid enters vhile gas phase

enters all other tubes, Pressure drops were calculated .;

for various liquid flows in segment 1, also for

various gas rates in segments 1, 2, and 3, Results

are presented in table 3 and plotted in figure 21,

Given a pressure drop and segment number one can now

find a gas or liquid flow rate., Pressure drope

caused by variations of tubesheet pressures were

calculated on page 60, It must be remembered that

the plugging of eighteen tubes has increased these

pressure drops by 0.355 psi. With these pressure

drops and referring to figure 21 the following sixteen

discrete flow rates may be tabulateds

Tube sheet number 1
Pressure drop 1n
bundle (with
- plugged tubes) 26,967 27.080 26,987 27.097 ,
Flow rate G(1b/hr.ft2) from figure 21
1 256,500 237,000 257,000 238,000 !

L ' 1iquid in seg. |
. 1 B gas in seg. 1 186,900 186,400 187,000 186,550 :
as in seg. 2 187,600 187,200 187,700 187,300 f

g | 8
il | B I e, 3 183,050 187,550 188,150 167,700 i
. - | 68, |
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#he nusber of tubes that 1iquid enters will vary
with flow rate. If the liquid flov rate GLis low more ,
tubes will be filled with liquid. If the 1iquid flow
rete Gy is high less tubes will be filled, Therefore,

the ares that is to be allotted to each flow is actually

dependent upon the flowv rate. Grp is constant.

Number of tubes carrying liquid = M lbs/hr of liquid
S rt u ‘)
Yhere M = 5143 1b/hr, of liquid
Tube sheet
number 1 2 3 4 Total
Number of _ _ .
tubes 381.25 381.25 381.25 381.25 1,525
liquid in N |
seg. 1 24,17 28.16 24,12 28.05
gas in -
seg. 1 98,41 94,42 98,46 94,53
seg. 2 127.08 127.08 127,08 127,08
seg. J 127.08 127.08 127,08 127.08
Flow (1b/nr) M
liquid in _
seg. 1 4,953.,42 5,332.39 4,952,81 5,333.98 20,572,359
8 in -
saaeg. 1 15,206,08 14,550.55 15,221.95 14,579.22 59,558.00
sog. 2 19709.50 19,667.48 19,720.00 19,677.98 78,775.9¢
seg. 3 19,756.78 19,704,.25 19,767.29 19,720.01 78,949,33
54,672.36 53,922.28 54,709.24 53,977.22 7,853,
If greater accuracy 18 desired use the new values
for M 1b/hr. and go back and recalculate the number of
‘tubes darrying each flow., Repeat this until the values
no longer change.
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The UA for each discrete flow can be found noting |

T s W N LT i ] % . ¥ EPE ! g
' aamd ot Top i ovaer apdar oo G

that UA s proportional to the number of tubes and that

the total UA after taking into account the loss of tubes

due to plugging is 3,963,051 Btu's. The flow rate in
hr,OF

moles of feed per hour is simply found by dividing the

flow in (1b/hr.) by the molecular weight of the flow
(MW gas = 21,7169; M{ liquid = 43,5786).

¥ Tube sheet number 1 2 p) 4 Total
|
' UA (Btu's/hr.%F) ,
Tiquid seg. ! 63,560 74,053 63,492 73,764 274,869
gas seg. 1 258,802 248,309 258,870 248,598 1,014,579
gas seg. 2 334 201 334,201 334,201 334,201 1,33€,805
gas sez. 3 334'201 334,201 334,201 334,201 1,336,805
Total 990,764 990,764 990,764 990,764 3,963,058

Flow (moles/hr.)
Tiquid eeg. 1  113.679 122.377 113,665 122,413 472,134

b | | ., . | gas seg. 1 700,196 670,011 700.926 671.331 2,742,464
L - - - B ses. 2 Q07.565 905.630 908.049 906,114 3,627.358

10,478

To be accurate one would construct cooling curves for
each of the sixteen flows, £ix the inlet conditions and

UA, and calculate the duty of each. Thie could probably

i v .
o ' C S C C be worked out on the computer. By graphical methods the

accuracy decreases and several flows may be combined

without appreclable error. The gas flows in segments

jl' ' 1, 2, and 3 differ only by 0.9% and may be combined;

also liquid in tube gheet 1 and 3, and liquld in tube

f{o. | . ' |
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o
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sheet 2 and 4, Only three cooling curves vill now have |

i ' I T AL to be dreawn,
! cr ' Flow Flow UA
. | No.  Description (Moles/hr, ) (Btu 's/MOF)
1. Liguid, segaent 1
‘ (tube sheot 1 and 3) 227.344 127.052
] 2. Li?uid, seement 1
| ) . y tube sheet 2 and 4) 244,810 147.817
3, Gas, segments 1, 2, 3
(tube sheets 1, 2, 3, 4) 10,005,861  3,688.189
Total 10,478,015 3,963,058

, The duty (Btu's/hr.) was determined from enthalpy
data (Btu's/mole) times the flow rate (moles/hr.) Table 4
1ists the temperaturc enthalpy data that hns been calcu-
lated for each of the threc flow rates that are des-
cribed above. Shellside flow has been divided propor-
tional to the surface area of each of the three tabeslde

£lows and enthalpy data 1listed in table 5. The cooling

curves were plotted in figures 22, 23, and 24. The UA

of each was found by dividing the cooling curves into

incremental segments and calculating UA = _> AH/AT log mean.,

Wheres AT log mean = AT high - AT low

log _AT high
AT low

The calculated value of UA was compared to the actual

UA as 1isted on page 71. If the UA was lower the cooling

stream was shifted to the left, if the calculate UA was
t slightly. ’

higher the cooling stream was gshifted to the righ
i,
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A new UA vas oalculated, The curve was shifted until
the calculated UA equaled the actual UA and the .. H
observed. The final cooling curves with the actual
UA are drawn on figures 22, 23, and 24, The results

are listed below.

Flow No, Duty Btu's/hr,
1 1,350,327
2 1,484,161
3 61,642,653
Total 64,477,141

The design duty was 66,110,000 Btu's per hour 8o one ‘
can see that already 2.45% of the duty has been lost

and the loss due to variation in tube inside diameter

has not yet been considered.

To calculate the loss of duty caused by variations
in tube inside diameter, the maximum and minimum flow

rates must first be found. The following figures were
.

{a
3

obtained from the tube vendors S

0.390"
0,401"

0.379"
The effect of tube I.D. on the 1iquid flows may be

Average tube I.D.
Maximum tube I.D.
Minimum tube I.D.

found with the use of equation #2, AP = 174 ;%2(3 L.

Since pressure drop, density, and length are not a func-

tion of tube I.D., the following relationship can be

developeds
‘ )

Liquid will flow at about G = 250,000 1b/ft2-hr, and the |
‘ 6"20 | ) .




B ’ o friotion factor ratio will be found at/this flow rate.
EEETTART e e e, s ‘
‘ R Npo * 0D/ Jet + = 0,224 1b/hr.ft2 |
] ) i NRe (max dia) = 2.730 X 10%
(1 NRC (ave dia) - 3,627 x 10
h NRe (min dla) © J+525 X 104
' ' C
! f = 0014 - .125/NRG-32 (for turbulent region) @
] f (max dia) = .003450
3 £ (ave dia) = 003474
N £ (min dia) = .003490
3 2 5
i q)c - (f g(gl;
| , éqe) (?§ (D2
| M max.= q max = 1,076 M min = q min = 0,929 ‘
Mave q ave Mave q ave
: Flow Xo. 1
; W ave = 227.34 mole/hr. from page 67
i M max - 244,62
';* | M min = 211,20
gy Flow No. 2
gl o . W ave = 249.80 moles/hr. from page 67
B M max = 263.40
g ' : M min = 237.42
fﬁ\ : The cooling curves for the high and low flow rates are
: Py
; , - plotted on fligures 22 and 23 keeping UA fixed at the de-
*f | - sign case, Because of the nature of the curves there 18
il h
;;’ 4 o a pinch at the cold end. Thus, when the high and low
@Wﬁi? - : flow duties are averaged, the loss of duty is so small
:lfﬁ.; : that it cannot be determined graphically. It can, there-
§jd%‘y T ; Lt fore, be sald that variations in tube I.D. causes neglil-
: i E.;ng( .’
ﬁ,{!;d gible loss of duty in the 1iquid flows (no. 1 and 2).
| f',, | e The effect of tube I.D. variations on the gas i
| | o - ' - stream (flow mo. 3) will be examined next. First the v
| Lr - oL = 7 (REN N ¢ } N
L - e 73. !
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et maximus and minisum maldistribution of flow must be
found, Assume at G = 185,000 1b/hr.- ft2 the pressure

drop through tubes of maximum and minimum diameter are

equal, Calculate the maximum and minimum flows under

o | .
) this assumption
G = 185,000 1b/hr.- £t2

l
| : Tube I.D.  X-Sect.jrea M
(£1) (£t°) (1b/hr. - tube)
g : ,033417 ,0008770 162.2524
| .032500 .0008296 153.4705
.031583 .0007834 144,9327 '

Next 'the assumption of equal pressure drops are checked

as on pages44 and 45 and the flows corrected for equal

| - AP.
| Tube I.D. AP
' ' _(ft) (pei)
? ) | 033417 05,8483
. - ,032500 26,3333
} | .031583 26,5154

« AP/24P =« M/Mgyg
whereﬁxgave - g%.3333p81
‘Maye = 153.4705

CAP = AP - APave

ﬂ . : _ X hr -/ggi Mave

ol : : M = ¢OPMave aye

i | SM(max I. D.) = -1.41329

"'. . I BM(mj‘rl I‘ D') = 0.5306

?‘,, ’ . Tube I. D. Corrected flow Flow

RN gftE Mglbéhr-tube) (moles/hr)

. % : r T ' ' o ..0 17 073 10,50 015

Lfygl - . . .031583 145046 9’505067

! | The cooling curve for these maximum and minimum flows
4

|l
4 i

I | T4 - ;
|

due to variation of tube I. D. are plotted in figure 24
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with fixed UA, This is the same as having two equal
area exchangers, one with all small diameter tudes
and one with all large diameter tubes. The duty of
each is calculated and the two are averszed, The
result is the duty considering maldistribution.

Results are tabulated below,

AH Flov (moles/hr
3 §3§ 000 81,521, 353 10, Gﬁé EE"“:LJ

4 ,017,300 61 921,453 10, 005 86
2, 857 400 62 521,966 10, 506 15
4 , 571,500 63,521,966 10, '206.15
3 221,470 59 521,966 9, 505 67

4,346, "800 60,521,966 9,505.67

Since the design UA = 3,688,000 for this gas flow,
the duty is found by extrapolation and tabulated
below for each flow rate. It should be noted that
when extrapolating linearity 1s assumed which is not

the case here, For better accuracy more trials should
be made perfersbly on the computer.

Flow #3
XH(average) = 61,642,653 Btu 's/hr

AH(max, dia.) = 63 006 575
fﬁﬂémin. dia.) = 595936 , 000

A H(maldistribution (AHmax. dia. i
(Mgax)/(Main + Mpax) +ABpin, dia 2&“538 899

Loss of duty = AHdeei - AHpg] = 1io 000 Btu's/hr
¢ loss of duty = 792

This value for loss of duty is conservative, For

a truer value the equation I's 2x/uf§km - 12m/(N - 1))2

(M)

should be used, However, in this case 1 1s the
number of tubes and would be equal to 1403, Since

the loss of duty (0.178%) is so small it would be

useless to be very accurate.

LA e
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( ot e The actual duties for each of the three flows oon- J
) | ’ AR sidering all types of maldistribution that could exist !
| in the exchanger have now been calculated, The results
;ﬁ ‘ : are slightly conservative,
b ) ' puty (Btu's/hr.)
| | Flow #1 (liouid in segment 1,
‘ ' tubesheet 1 and 3) 1,484,160
| Flow #2 (liouid in segment 1,
Nl ) tubesheet 2 and 4) 1,350,327
i ' Flow #3 (gas in sesment 1, 2,
;“ | ] 3, tutesheet 1, 2, 3, AS 61,532
? ! f ' $otal exchanger duty (ACTUAL 64,367,186 ,
" - Total exchanger duty (DTSIGN 66,110,000
| Loss of exchanger duty 1,742,814
¢ loss of exchanger duty 2.63%
é‘» The results of maldistribution from the different
i, causes may be broken down as followss
i
I Cause of Maldistribution 4 Loss of Duty
iy . vause
| Liguid-vapor separatlion 1.805
X ‘ Variation in tubesheet pressures negligible
o ' Variation in tube I.D, 0.178
i Variation in tube lengths negligible
ﬁ“ ’ Plugged tubes 0,645
[ " ' 2,628
it ‘
it ' 1t can be seen that phase separation is by far the most
: : critical condition'and great care should be taken to
| yﬁ'; keep a dispersed or homogeneous fluid in the tubesheet
y ;ﬁff header. With the ring header design that has been assumed
?K wﬂd | ' the loss of duty due to maldistribution of flow caused 3
‘,,(3 N . . : - - . ] ) ‘
1/ : : ; 1 by the unsymmetric ring header is negligible. To get .
i E ' - s e an exact answer the use of a computer would be required. n
| : .. C ~ ‘
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Variations in tube I.D, causes a slight loss of duty in i ;
the tubes carrying gas phase. For this particular example
variations in tube lengthe produces no visable effects.
Again a computer would be needed to arrive at a duty loss,
Of course, plurged tubes cause appreciable loss of duty
due to loss of surface ares,

The ring header desian that was chosen appears to
be adequate, If it 18 desired to reduce the ring header

diameters to cut costs, the procedure would have to be

reperted and loss of duty recalculated, Cost due to loss

of production, increased pressure drop, and ring header

should be minimized. If a new header design 1is assumed

several shortcuts can be made. The loss of duty caused

by liouid-vapor separation, veriation in tube I.D.,

variations in tube length, and pluzged tubes will remain

relatively constant. It does appear, however, that the

cost of increased pressure drop of & new design will
dominate the total cost rather than the cost due to los&s
of duty and perhaps loss of duty need not be recalculated.

. §
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FIGURE #3
PLATE-FIN or CORE EXCHANGERS
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FIGURE 8

Baker Chart
(for prediction of Flow Patternms)
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FIGURE #12

Mass Flow versus Volumetric Flow Entering
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FIGURE # 13

FLOW PATTERN PREDICTION CHART FOR VERTICAL FLOW
(Griffith and Wallis)

FISURE # 14

AFLOW PATTERN PREDICTION CHART FOR VERTTCAL FLOW
(Jovier, Radford, and Dunn)
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FIGURE #16

Two Phase Frictiomal Pressure Drop Versus
Mass Flow Rate




FIGURE #17

Temperature Versus Tube lLength
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FIGURE #18

Pressure Drop versus Flow Rate in Bundle
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FIGURE #21

Pressure Drop versus Flow Rate in Bundle
For Discrete Flows
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FIGURE #2k
Cooling Curve for Flow #3
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Pressure

592,0000
590, 6001
589, 2000
587. 7000
586,3000
584 ,8999
583.5000
582,.1001
580, 6001
579.2000
577.8000
576.3999
574,8999
573.5000
572.1001
570.7000
569.3000
567.8000
566.3999
565.0000

Temperature
Degree F

52,0000
38,0000
25,0000
11,0000
-2,0000
-16,0000
-29,0000
-43,0000
-57.0000
-70,0000
-84,0000
-97 .0000
-111,0000
-125,0000
-138,0000
-152,0000
-165.0000
-178.0000
-192,0000
-206,0000

TABLE - 2
COMPUTER OUTPUT

COOLING CURVE SUMMARY

Temperature

52.0000
38,0000
25,0000
11,0000
-2.0000
-16,0000
-29.0000
-43,0000
"57 . 0000
-70.0000
-84,0000
-97.0000
-111,0000
-125,0000
-138,0000
-152,0000
-165,0000
-178,0000
-192,0000
-206,0000

Enthalpy,Btu

0.56380E 06
0.52941E 06
0.49796E 06
0.46338E 06
0.43126E 06
0.39727E 06
0.36431E 06
0.32809E 06
0.29115E 06
0.25376E 06
0,20877E 06
0.15907E 06
0.10342E 06
0.78802E 05
0.55420E 05
0,298E0E 05
0,60681E 04
-0,42635E 05
-0.66733E 05

TRANSPORT PROPERTIES
LIQUID PHASE

ViscosityJ/

1b/ft hr

0.22395E 00
0,22309E 00
0,22355E 00
0.22262E 00
0.22105E 00
0.21956E 00
0,21557E 00
0.20970E 00
0.20306E 00
0,19410E 00
0.18233E 00
0.16982E 00
0.16434E 00
0.18688E 00
0,20932E 00
0.23537TE 00
0.26155E 00
0.28992E 00
0,32323E 00
0,35978E 00

Conductivity

Btu/hr ft Deg F

0,52106E-01
0,53045E-01
0.54023E-01
0,55034E-01
0,559T73E-01
0.57053E-01
0,58827E-01
0.,59711E-01
0.60354E-01
0.60891E-01
0.61228E-01
0.62398E-01
0.66751E-01
0,70827TE-01
0.75282E-01
0,79500E-01
0.83814E-01
0.88581E-01
0.93489E-01

102,

Delta H

0.0

0.34395E 05
0.65841E 05
0.10043E 06
0.13254E 06
0.16654E 06
0.19950E 06
0.23571E 06
0.27265E 06
0.31005E 06
0.35503E 06
0.404T3E 06
0.46038E 06
0.48500E 06
0.50838E 06
0.53392E 06
0.557T4E 06
0.58141E 06
0.60644E 06
0.63054E 06

Density Specific Heat

1b/ft 3

0.306T2E 02
0,30471E 02
0.30345E 02
0.30138E 02
0.29904E 02
0.29654E 02
0.29281E 02
0.28784E 02
0,28224E 02
0.27527TE 02
0.26612E 02
0,25615E 02
0.25012E 02
0.26034E 02
0.26904E 02
0.27TTT6E 02
0.28535E 02
0.29256E 02
0.29994E 02
0.30TOOE 02

Btu/1b Deg F

0.5945TE 00
0.58618E 00
0.5T936E 00
0.57390E 00
0.57042E 00
0.57T015E 00
0.5T430E 00
0.58414E 00
0.60135E 00
0.62622E 00
0.663T1E 00
0.71118E 00
0,T76251E 00
0.78560E 00
0.79921E 00
0.80771E 00
0.80559E 00
0.797T5E 00
0,TT501E 00
0.73T11E 00




Temperature
Degree F

52,0000
38.0000

TABLE - 2, continued

COMPUTER OUTPUT
TRANSPORT PROPERTIES

VAPOR PHASE
Viscosity Conductivity Densit
1b/ft hr  Btu/hr ft DegF 1b/ft
0,27073E-01 0.17582E-01 0.28270E 01
0.26T14E-01 0.17384E-01 0,28305E Ol

0.28435E 01

Specific Heat
Btu/1b Deg F

0.61035E 00
0.61T42E 00
0.62646E 00

3 25,0000 0.26377E-01 0.17203E-01
; 11,0000  0.26014E-01  0.17027E-01 0.28592E Ol 0.63794E 00
: 2°0000  0.25677E-01  C.16873E-01 0,28835E 01 0.65088E 00
1 _16.0000  0.25318E-01  0.16711E-01 0,29298E 01 0.66968E 00
= -29,0000 0.24991E-01 0. 16582E-01 0.29762E 01 0.68921E 00
- 43.0000  0.24651E-01  0.16458E-O1 0.30472E 01 0.71680E 00
| | -57.0000 0.24338E-01 0.16347E-01 0.31529E 01 0,75415E 00
L -70.0000  0.24085E-01  0.16275E-01 0.32790E 01 0.80029E 00
= _84.0000  0.23900E-01  0,16239E-01 0.34764E 01 0.87366E 00
= -97.0000  0,23887E-01  0.16271E-01 0.37503E 01 0.98592E 00
3 -111.0000 0.0 0.0 0.0 0.0
- -125.0000 0.0 0.0 0.0 0.0
= -138.0000 0.0 0.0 0.0 TRy
| -152,0000 0.0 0.0 0.0 0.0
) -165.0000 0,0 0.0 0.0 0.0
ot -178.0000 0.0 0.0 0.0 0.0
p b -192.0000 0.0 0.0 0.0 0.0
b .206.0000 0.0 0.0 0.0 0.0
' Pseudo latent Heat Prandtl No.
Temperature Btu/1b Btu/mole Liquid Vapor
52,0000  0.11171E 03  0,45418E 04 0.2556E 01 0.9398E 00
38.0000  O0.11334E 03 0,42404E 04 0.2465E 01 0.9488E 00
o 25.0000  0.11421E 03  0.39671E 04 0.2397E 01 0.9605E 00
o : 13.0000  0.11471E 03  0.36361E 04 0.2%22E 01 0.9T46E 00
o : 750000  0.11454E 03  0.33306E 04 0.2253E 01 0.9905E 00
FH ' _16.0000  0.11316E 03  0.30026E 04 0.2194E 01 0.1015E 01
; - -29.0000  0,11141E 03 0.27026E 04 0.2137E 01 0.1039E 01
: “43.0000  0.10816E 03  0,23754E 04 0.2082E 01 0,107T4E 01
- _57.0000  O0,10486E 03  0,21059E 04 0.2045E 01 0.1123E 01
: -70.0000  0.10128E 03 0.18924E 04 0.2014E 01 0,1184E 01
‘ : _84.0000  0.98921E 02  0.17351E 04 0.1987E 01 0.1286E 01
' : -97.0000  0.96003E 02 0.16278E 04 0,1973E 01 0,1447TE 01
' : - -111,0000 0.0 0.0 0.2008E 01 0.0
: : . . -125,0000 0.0 0.0 0.2199E 01 0.0
| : - . Q. -138,0000 0.0 0.0 0.2362E 01 0.0
ST . ‘ : SRS -152.0000 0.0 0.0 0.2525E 01 0.0
- : CT f ' ' L -165.0000 0.0 0.0 0.2650E 01 0,0
| ' T N e L. -178,0000 0.0 0.0 0.2759E 01 0.0
‘ ‘ S R i - -192.0000 0.0 0,0 0.2828E 01 0.0
' CT Lot e | _206,0000 0.0 0.0 0.2837E 01 0.0
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TABLE - 2, continued
COMPUTER OUTPUT

R

TUBE PRESSURE DROP
‘ Ineide Diameter-Ft Roughness-Ft Flow Rate-Lb/Hr Ft2
0.32500E-01 0.50000E-05 0.18801E 06

Pressure Differentials

s 1
- . ) Temp Reynolds No. Liguid Volume Fraction Friction Head
Deg F vapor Liquid No Slip S1ip 1b/rt2/1t 1v/rt2/vert

52,00 0,23E 06 0,2TE 05 0.865E-02 0.114E 00  0,231E 02 0.600E 01
0.656E 01

. . 38,00 0,23E 06 0.27E 05 0.156E-01 0,135E 00 0.229E 02

! . . . } 25,00 0,23E 06 0.27TE 05 0,226E-01 0.151E 00 0.219E 02 0,700E 01

' . . . ] ) 11.00 0.23E 06 0.27E 05 0.316E-01 0,1¢8E 00 0.202E 02 O.T44E Ol
' -2,00 0,24E 06 0,28E 05 0.414E-01 0,183E 00 0.173E 02 0,784E Ol

-16.00 0.24E 06 0,20E 05 0.5%5E-01 0,201E 00 0.144E 02 0.829E 01

% T T

. 22900 0.24E 06 0.2BE 05 0,685E-01 0.220E 00 0.118E 02 0.875E 01
| . _ | . Z43.00 0.25E 06 0,29E 05 0,901E-01 0,245E 00 0.915E 01 0.935E 01
- : . _ , ' 257700 0.25E 06 0.30E 05 0,120E 00 0.277E 00 0.749E 01 0,101E 02
N . ‘ 27000 0.25E 06 0.31E 05 0,165E CO 0.320E 00 0.63%E 01 0,110E 02
i . . , . Z84.00 0.26E 06 0.34E 05 0,255E 00 0.402E 00 0.495E 01 0,128E 02
L . , | ’ 297.00 0.26E 06 0.36E 05 0.456E €O C.573E 00 0.323E 01 0.163E 02
1! . | , . ' -111.00 0.0 0.37F 05 0.100E 01 0.100E 01 ~ 0.117E 01 0.250E 02
i . . , , -125.00 0.0 0-33E 05 0.100E 01 0.100E 01  0.115E Ol 0.260E 02
| | -138,00 0.0 0.29E 05 0.100E 01 0,100E 01 ~ 0,114E Ol 0.269E 02
§ -152.00 0.0 0.26E 05 0.100E 01 0.100E 01 ~ 0.114E Ol 0.278E 02

; -165.00 0.0 0.53F 05 0,100E 01 0.100E 01  0.114E 01 0.285E 02
! -178.00 0.0 0 51E 05 0.100E O1 0,100E 01 ~ 0.114E Ol 0.293E 02
-192,00 0.0 0.19E 05 0.100E 01 0.100E 01 ~ 0,114E Ol 0.300E 02

0.0 0.17F 05 0.100E 01 0,100E 01 ~ 0.113E Ol 0.307E 02

. . f . , -206.00

B L

i : i ! ‘ . . ' .
, . 'EQ, T ,
. . | 104,

P R L "




TABLE - 3

AP versus G by Segments

Entrance o
Tubesheet Ppundle

Phase Position Segment pui} (1b/hr ££2)
| 11quid lower 1 26,32 200,000
liquid lower 1 27.14 240,000
i | | : : ‘ 11quid lower 1 28,17 280, 000
. - | , : , . 1iquid upper 1 25.77 200, 000
- ' ' ' : - liquid upper 1 26.57 240,000
! ' ~ S 11quid upper ] 27.60 280, 000
b | : ' ' - : : gas lower 1 25,17 175,000
i ‘ : - , : gas lower 1 25.99 180,000
! ' | : : - . gas lower 1 29.38 200,000
N gas upper 1 25.00 175,000
3‘?. ' ’ - A - gas upper 1 25.81 180,000
. ' ' - - - . . gas upper 1 29.17 200, 000
Eh ' ' : : gas lower 2 25.30 175,000
an ' | | - gas lower 2 25.85 180, 000
b ' - ~ : : gas lower 2 29.27 200,000
1) ' | : : : gas upper 2 24,86 175,000
41 ' ' ' : : : : gas upper 2 25.67 180,000
1 ‘ ‘ : : : : gas upper 2 29.07 200, 000
gas lower 3 24,94 175,000
gas lower 3 25.77 180,000
gas lower 3 29.22 200,000
gas upper 3 24,77 175,000
gas upper 3 25.59 180, 000
gas upper 3 29,01 200,000
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TABLE - 4

TUBESIDE TEMPERATURE - DUTY DATA

“H (Btu's/hr.)
Temperature (OF) Flow 1 Flow 2 Flow 3

52 0 0

38 79,902 87,821 3,183, 665

25 152,557 167,678 6 203,733

11 229,394 252,130 9,572, 606
- 2 299, 689 329,392 12, 726 453
- 16 374,461 411,575 16 080,418
- 29 443,197 487,123 19, 345 330
- 43 516, 655 567, 861 22, 936, 433
- 57 589,689 648,134 26 587,571
- 70 657,222 722,361 30, 268 T27
- 84 729,767 802,095 34, 660 299
- 97 797,011 876 004 39, 486 125
-111 869,288 955, 444 46,334, 136
-125 941,454 1,034, 763 48 831,599
-138 1, 008, 274 1, 108 206 51, 140 951
-152 1,079, 950 1, 186 986 53, 665, 430
-165 1, 146 124 1,259, T19 56 020, 809
-178 1,211, 764 1,331, 864 58, 361 180
-192 1, 281, 536 1, 408 661 60, 836, 629
-206 1,350, 327 1, 484 161 63 216, 023




TABLE - 5

SKELLSIDE TEMPERATURE - DUTY DATA

107.

AH (Btu's/hr,)
‘ remperature (°F) Flow 1 Flow 2 Flow
31,034 0 0
¥ 29.59 15, 456 17,967 449, 474
i 20,90 101,083 117,509 2,939,628
- 12.95 181, 260 210,715 5. 271,276
P 4,35 261,551 304,053 7,606,239
i - 5,90 347,962 404,506 10,119,163
b - 16.76 432,470 502, 746 12,576, 1769
|| - 27.14 513,881 597,386 14, "944, 289
- - 36,32 584,320 679,272 16,992,756
- - 46,10 672,826 782,160 19,566,613
| | - 58,00 768, 409 893,275 02,346,293
1 - 69.11 868,704 1,009,869 25, ' 263,012
al - 79.36 968,734 1, '126,154 28,172,004
L - 89,16 1,071,774 1,245, '938 31,168,536
.3 - 98.34 1,174,521 1, 365,381 34 156,538
L £ -105.98 1,279,073 1, ' 186,923 37,197,053
14 -113.80 1,385,542 1, ' 610, 692 40,293,280
it -122.89 1 '495.680 1,738, ,728 43,496, 239
18 -132,12 1,591,360 1, 1849,956 46,278,738
3 -1%9,83 1,646,387 1, '913,924 47,878,982
5 -146.72 1 '703,290 1, ' 980,074 49,533,794
N -155. 69 1,764,866 2,051,656 51,324,499
-168.39 1, ' 833,043 2,130,912 53,307,175
1 -18%.94 1,903,791 2,213,157 5. 364,621
o 2197.26 I'970.693 2,290,930 57,310,207
i %! -207.97 2,035,633 2, ' 366,424 59,198,764
il _215.15 2)089,862 2, ' 429,465 60,775,812
-218.18 2)115,520 2, ’ 459,292 61,521,966
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