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Abstract

Forward osmosis (FO) is a novel water treatment process that potentially can be used
as an alternative technology for both sludge and brine treatment due to its low energy
requirement. In the FO process, a solution of high salt concentration (known as draw solution)
is utilized to generate an osmotic pressure gradient across a semipermeable membrane to
extract freshwater from a solution with lower salt concentration (known as feed solution). The
FO process requires low energy to operate as it capitalizes on the phenomenon of natural
osmosis. FO has been given significant attention over the past few years due its superior
characteristics. However, this technology is still in the developmental stages. A few studies
have been carried out using FO for the treatment of industrial wastewater, landfill leachate and
food industry effluents. However, to date, there has been no research on sludge treatment and
brine management using the FO process, other than this research, which could be another
promising application of FO.

Therefore, in this study FO was proposed as an additional process to the seawater
reverse osmosis (RO) process to dilute the brine before it is discharged back to the ocean and
to reduce the volume of pre-treatment sludge before mechanical dewatering. Diluting of brine
have number of advantages depending on the industrial requirements such as (1) it can increase
the brine diffusion rate as the concentration is low (2) it can keep the same diffusion rate
however adverse effect to flora and fauna near the diffusers are low as the salt concentration is
low (3) it can be sent back to the RO desalting process to increase the overall water recovery
as the diluted brine is already pre-treated.

Most of the current seawater desalination plants have two-stage reverse osmosis (RO)
processes. Therefore, the proposed FO systems utilize 1% stage RO concentrate (brine) as the
draw solution (since osmotic pressure of brine is higher due to higher salinity) and pre-
treatment sludge as feed solution (lower salt concentration). After passing through the FO
system, as a consequence of water permeation from feed to draw solution, the pre-treatment
sludge volume becomes lower and the brine gets diluted. Diluted brine can either be sent back
to the 1 pass RO process to increase the overall water recovery or blended with the 2" pass
RO brine before being discharged to the ocean. By doing the latter, the diffusion rate of the
brine within the water body can be increased.

In this study, laboratory experiments to assess the viability of applying the FO process
for an RO desalination system at different sludge conditions (pH, temperature) were conducted.

Further, biofilm growth on the membrane surface up to 8 weeks of continuous filtration was
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analysed. In addition, mass balance calculations were used to predict the reduced sludge
volume and power requirement arising from large scale (340 ML/day intake) and small scale
(15 ML/day intake) hybrid FO/RO desalination plants.

The electrical conductivity (EC) of the brine and seawater EC were 73.0 mS/cm and
44.5 mS/cm, respectively. As EC is directly proportional to osmotic pressure, there was a
sufficient osmotic pressure difference between the draw and feed solutions to have adequate
water flux through the FO system. However, the total organic carbon (TOC) of the brine and
sludge were 3.10 mg/L and 8.92 mg/L, respectively. Therefore, there is a potential for biofilm
growth on the membrane surface. When the pH of feed solution was increased from 6 to 8,
there was a marginal change in water flux. Therefore, the as is pH (normally pH 8) of feed
solution is recommended for the hybrid system. When the temperature increased from 20 to 40
°C, the average water flux slightly increased (5.6 to 6.0 LMH). However, considering the
economic benefits, it is recommended to operate at room temperature.

The water flux of continuous filtration experiments declined with time due to fouling
as well as dilution of the draw solution. However, flux increased when the draw and feed
solutions were replaced with the fresh solutions. This increased flux was lower than the initial
flux of the previous batch and was due to fouling on the membrane. After one week of filtration,
the flux declined further due to the thickened fouling layer deposited on the membrane. The
layer may have contained microorganisms in addition to salt deposits as both draw and feed
solutions contained salt ions. However, scanning electron microscopy (SEM) spectrum showed
salt deposits on the membrane surface after 5 week of continuous filtration without cleaning in
between. This fouling can easily be overcome by providing regular flushes at high cross flow
velocities as deposited layers are thin and loose and therefore readily removed. After 8 weeks
of continuous filtration large salt deposits were observed. Further, after 8 weeks there was no
water permeation through membrane. After analysing SEM EDX images and spectra, weekly
membrane cleaning is recommended to avoid biofouling and inorganic fouling.

After analysing water flux values and the fouling behaviour during FO filtration,
mathematical modelling was carried out for the proposed RO/FO systems. Since, daily pre-
treatment sludge generation varies (both in volume and solids content) with the desalination
plant size, calculations were made for two plant sizes: large-scale plants (LSP, 340 ML / day
intake) and small-scale plants (SSP, 15 ML / day intake). When the membrane area is 100 m?
(minimum area considered in this study) it can reduce sludge volume up to 7% in a SSP,
however this depends on the water flux through FO. When the membrane area increases, sludge

volume reduction increases in both large and small scale plants. The sludge solids content can
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be increased from 3 to 10% TS with a small power requirement (17.3 kW h /day). Interestingly,
when the membrane area of a LSP is increased to 900 m?, the sludge volume is reduced by
50%. This yields a sludge stream having a final solids content of 7.6%. Proposed system
requires lower OPEX and CAPEX compared to existing system; however, they are marginal.
With all the results obtained through laboratory scale experiments and mathematical
modelling, it is evident that the proposed hybrid system is a promising technology to reduce

the volume of pre-treatment sludge and increase the overall water recovery of RO process.



Chapter 1: Introduction

1.1 Seawater Desalination Process

Seawater desalination is a good option to answer the fresh water demand faced by most of the
arid regions in the world. Among the desalination processes available, seawater reverse
osmosis (SWRO) is the well-known and most famous process which produces high quality
product water with a lower production cost. Before passing through the RO process, seawater
needs to be pre-treated to increase the productivity and life of the RO membrane by removal
of foulants. Pre-treatment is done using conventional method (media filtration) or membrane
technology (micro-filtration and ultra-filtration) where both methods generate pre-treatment
sludge. Generated pre-treatment sludge volume is significant and it needs further volume
reduction before sending to a landfill. Current option for sludge dewatering is mechanical
treatment (such as centrifuging or belt presses) or evaporation ponds, which needs high

operation and maintenance cost.

Following pre-treatment process, seawater is then passed through the reverse osmosis (RO)
membrane where RO permeate is sent for post treatment, until it meets drinking water quality.
Most of the current single stage RO units have around 50% water recovery. Therefore, a 100
ML / day plant produces only around 50, 000 m® of product water /day, where rest of the 50,
000 m3/day (which is highly saline) needs to be disposed of as a waste stream. This waste water
stream is called RO concentrate (ROC) and its salinity is nearly or more than twice the salinity
of seawater. Therefore, proper disposing of the ROC, most commonly back into the ocean, is
one of the areas needed research and development in the desalination industry. Because

improper discharge of ROC back into the ocean is a threat for marine flora and fauna.

1.2 Can Forward Osmosis Give a Solution?

Therefore, this study focused on addressing above mentioned drawbacks namely, sludge
volume reduction and ROC management, using the novel emerging Forward Osmosis (FO)

membrane technology. FO drives using natural osmosis process. When two solutions which



have two different salinities are passed through a FO membrane, water will permeate from
lower saline solution to higher saline solution due to the difference in osmotic pressure.
However, due to the difference in salinity gradient some amount of salts will pass from higher
to lower saline solution as well which is called reverse salt flux (RSF). RSF is one of the
disadvantages in FO applications as it will reduce the quality of the lower salinity solution. FO
has been used in lab scale and pilot plant scales for several applications, such as for diluting
fertilisers, concentrating sugar solutions, in food processing applications to concentrate tomato,
pine apple juices and dairy products and in pharmaceutical industry etc. However, no research
has been carried out to reduce pre-treatment sludge volume in desalination using this novel

technology.

1.3 Research Aims

Therefore, this study aimed to reduce volume of pre-treatment sludge using the FO technology.
Since the FO process needs a higher salinity solution (termed draw solution) to draw water
from lower saline solution (termed feed solution) and ROC was selected as the draw solution.
Therefore, water will permeate from the feed solution (pre-treatment sludge solution) to ROC
thereby reducing the volume of pre-treatment sludge and diluting the ROC stream. Hence, both
sludge and ROC are benefited during the FO process. Sludge can undergo further treatment, if
needed, before being sent to the landfill. In addition, ROC can either be return to the ocean in
a higher diffusing rate as its concentration is much lower, or it can be sent back to the RO

desalting process to increase the overall water recovery.

So, in this study a novel FO/RO hybrid process was proposed to reduce volume of pre-
treatment sludge and to dilute the ROC. To check the feasibility of this proposed system
laboratory experiments and mathematical modelling were carried out. Laboratory experiments
were conducted to find the optimum water flux through FO membrane when sludge and ROC
are used as feed and draw solutions. This was done by changing the sludge properties (pH,
temperature, cross flow velocity, and solids content). Further, as membrane is susceptible to
bio-fouling as sludge and ROC pass through the membrane, effect of bio-fouling on the
membrane surface during long term filtration was analysed. Once the optimum experimental
water flux through membrane was obtained, the value was applied for the mathematical
modelling of the proposed system to check the applicability of the hybrid system in terms of



increase in water recovery, sludge volume reduction and brine dilution. In addition, CAPEX
and OPEX cost for the proposed systems were calculated and compared with the existing

systems.

1.4 Research Questions

1. How can we apply FO technology economically to address the bottlenecks in RO
desalination? Can the existing systems be retrofitted with FO?

2. What are optimum process conditions to have a higher water flux through flat sheet
FO membrane?

3. How will the FO membrane withstand bio-fouling when sludge and ROC are passed
through the membrane?

4. Will hollow fibre membranes perform better than flat sheet membranes in the
presence of pre-treatment sludge and ROC?

5. How can we characterise the FO membrane in terms of effective diffusion coefficient

to answer the theoretical lag in the literature?

1.5  Summary of the Thesis Structure

This thesis consists of nine chapters (Figure 1) where ninth chapter contains the overall
conclusion of this work and recommendations for future work. Chapter 2 explains the literature
behind the SWRO and FO. Theory related to FO technology is explained in detail. In Chapter
3 experimental procedure will be explained including the materials and the analytical methods

used.

Chapters 4 to 8 contain the results obtained during the laboratory experiments and
mathematical modelling as shown in Figure 1. FO membrane was characterised in terms of

diffusion and the experimental results and modelling calculations are explained in Chapter 4.

Chapter 5 details the results for the water flux optimisation experiments with comprehensive
discussions. This chapter contains the results with flat sheet cellulose tri acetate (CTA)
membranes and the impact of pH, cross flow velocity and temperature of the sludge on the

water flux.
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Figure 1: Research plan and thesis outline

Chapter 6 contains the water flux optimisation results with discussion for polyamide hollow
fibre membranes. Reynolds number of the feed and draw solutions were varied to optimise the
water flux. At the optimum process flow conditions, sludge and brine were run at different

sludge solids conditions.

Chapter 7 consists of the results on the fouling behaviour of CTA flat sheet membranes.
Continuous filtration experiments were run and the filtered membrane coupons were analysed

for any susceptibility to bio fouling.

Finally, mathematical modelling was applied to the proposed FO/RO hybrid system and is
given in Chapter 8. This chapter includes the mass and salt balance calculation with cost

calculations. Maximum experimental water flux obtained was used for the calculations.

Conclusions from each Chapter (from 4 to 8) and future recommendations are given in Chapter
9.



Chapter 2: Literature Review

2.1 Seawater Desalination

Desalination, removal of salt and minerals from seawater, brackish water and wastewater

effluent, is becoming one of the promising solutions for increasing fresh water demand in the

world. In 2005, approximately 98% of domestic water supply in UAE was satisfied by desalted

water (Mohamed et al., 2005). Hoang et. al (2009) predicted that seawater desalination capacity
in Australia will increase to over 450 GL/year by 2013 (Hoang et al., 2009). This is 10 times

larger compared to the capacity in 2006. There are two types of desalination processes available

to date, viz phase change process which includes multistage flash (MSF), multiple effect

distillation (MED) and vapour compression (VC) and membrane process which includes

reverse osmosis (RO) and electro-dialysis reversal (EDR). Table 1 illustrates installed capacity,

unit cost, water recovery and energy demand of the available desalination processes.

Table 1: Desalination capacity, unit cost, energy demand and recovery of available large

scale desalination processes (Greenlee et al., 2009, Blank et al., 2007a, Karagiannis and
Soldatos, 2008, Semiat, 2008, Wittholz et al., 2008).

Desalination Worlds’ installed UPC? (US$) Combined energy demand?®
process desalination capacity* (KW he /m®)
(%)
MSF 40 0.62-1.97 10-16
MED 3 0.60-1.17 6-12
VC 5 Only small scale plants are available.
RO 44 0.45-0.95 3-6
ED 6 Only small scale plants are available.

Las at 2002; 2% use desalination processes other than mentioned.

2UPC = Unit Production Cost =

(Capltal COSt/Plant life)+ Annual Operating Cost

Plant Capacity xPlant Availability

3 equivalent energy (for heat and electricity requirements) in terms of electrical energy




From the total installed production capacity, seawater desalination plant capacity is nearly
59%. Current seawater RO (SWRO) plants consume around 3-6 kW h electricity to produce
one cubic meter of product water. Phase change processes are more expensive as large amount
of energy is required. Energy demand for MSF and MED processes are 10-16 and 6-12 kW h/
mq, respectively. Water unit production cost (UPC) using MSF and MED processes are 0.6 -
1.97 US$ and 0.60 - 1.17 US$ respectively. Interestingly, UPC for RO is 0.45 - 0.95 US$ with
a combined energy demand (demand for both heat (thermal) and electricity (pumping)
requirements) of 3 - 6 kW/h. The production costs significantly vary with the plant capacity.
Obviously, large scale desalination plant water cost is comparatively smaller. Water recovery

from single stage RO process lies from 40-60%.

Out of all the discussed desalination processes, RO has the most potential and robust
technology for large scale seawater desalination since it produces well purified water with a
lower unit product cost (Nooijen and Wouters, 1992, Ebrahim and Abdel-Jawad, 1994, Abou
Rayan and Khaled, 2003, Semiat, 2008, El-Sadek, 2010) as well as is simpler to operate and
maintain compared to other desalination processes (Misdan et al., 2012). Coupled with lower
unit product cost and lower energy demand, refer Table 1, global SWRO production capacity
has increased drastically in few years’ time. As per Table 1, desalination production capacity
using RO process technology in the world is 44 % , (Greenlee et al., 2009) and it is used by
majority of Australian desalination plants (Hoang et al., 2009). A list of large scale SWRO
plants available in Australia is given in Table 2.

Table 2: Large scale desalination plants available in Australia (Palmer, 2012)

Location Owner Process Capacity Status Completion
(MLD) date
Kwinana, WA WCWA MMF/RO 145 Operating 2006
Bunbury, WA WCWA UF/RO 150 Operating 2011
Karratha, WA CITIC Iron UF/RO 175 Planning 2012
Adelaide, SA SA Water UF/RO 300 Operating 2011
Whyalla, SA BHP Blliton - 280 Planning 2014
Wonthaggi, VIC  DSE MMF/RO 450 Operating 2012
Kurnell, NSW Sydney Water MMF/RO 250 Operating 2010
Gold coast, QLD  SEQ Water MMF/RO 125 Operating 2009




All the large scale plants are currently in operation or planning. All these large scale plants use
RO technology. Opportunely, large scale RO plants have the highest potential for further
improvements compared to other available processes (Blank et al., 2007a).

RO membrane technology employs semi permeable membranes which allow saline water to
separate into two streams; (1) Permeate - purified water that passes through the membrane and

(2) RO concentrate (ROC) or brine - which contains concentrated salts and other minerals.

However, the source water needs to undergo several treatment processes before and after RO
membrane treatment in order to make SWRO process economical and environmentally

friendly. Thus, a typical SWRO plant could be divided into five major steps (Figure 2);

1. Intake,
2. [Feed water pre-treatment,
3. High pressure pumping,
4. Membrane separation (or desalting process)
a. Performance of membranes,
b. Concentrate disposal/resource recovery, and
5. Product Quality

(3)

Maxpbrane

Acid Chlorine Anti-scalant Sodiu chemical\leaning (5)
bisulfife 19 pass
757N RO module
CL T - L j @ Produci
£ R > > o P water
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Intake Flocculator N/ HP Pump‘ e SE?raiL
Multi-Media Cartridge g l ~ | a
Filte Cilter :
mter Filter ERD LP Pump
» DBrine
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Intake Pretreatment RO membrane Post-treatment
(1) (2) | (4.2)
(4.1)

Figure 2: Schematic of a typical SWRO plant (Kim et al., 2009), where ERD, HP and LP

denote energy recovery device, high pressure and low pressure, respectively.



During this PhD study, problems encountered in each step were surveyed. Furthermore,
existing solutions and drawbacks of them were comprehensively discussed. In addition,
solutions for the current drawbacks were suggested and highlighted the mandatory research
areas in seawater desalination. These outcomes were published as a review paper entitled
Problems in seawater industrial desalination processes and potential sustainable solutions:
a review in the journal of Reviews in environmental engineering and bio/technology
(Liyanaarachchi et al., 2013). Table 3 summarises the published/reported issues in each process

with existing solutions and suggestions.



Table 3: Key issues in seawater desalination, current solutions and suggestions for drawbacks (Morton et al., 1997, Latorre, 2005, Mohamed et
al., 2005, Jacob, 2007, Tularam and Ilahee, 2007, Vedavyasan, 2007, Sarp et al., 2008, Agus et al., 2009, Jeppesen et al., 2009, Martinetti et al.,
2009, Jietal., 2010, NCED, 2010, VOLLPRECHT, 2013, Liyanaarachchi et al., 2013).

SWRO step Associated problems Existing Solutions Essential study areas
Intake 1. Rust and valve problems 1. Shock chlorination to remove Development of higher
2. Entrainment and Impingement entrained marine organisms corrosion resistant piping

Pre-treatment
(Low Pressure
Membrane)

Pre-treatment
(chemical)

N

of small marine organisms
Threat to marine environment as
pipe lines acts as artificial reefs
Pipe lines disturb the seafloor;
surf zone hence changes coastal
hydrology.

MF-UF cleaning (Cost of
cleaning exceeds cleaning costs
associated with RO membranes)
Replacing and transportation
cost (increase the cost of water
production)

MF-UF cartridge discharge.

Pre-treated sludge disposal.
Amount of sludge generated.
Higher chemical usage.

in intake pipes.
2. Use corrosion resistant
pumps

1. Land disposal.

1. Landfill disposal.

materials/coating materials,
valves.

. Alternative for shock

chlorination.

Proper intake systems in a way
that it minimizes disturbing
coastal hydrology.

. Alternatives for UF/MF (current

ISI* research)

Conventional pre-treatment with
novel chemicals

Development of longer life

cartridge filters (NCED

suggestion and Siemens carrying
out a research)

. Alternative coagulants for

sludge reduction
Recycling of ferric sludge

. Sludge volume reduction (this

study).




Table 3 (continued): Key issues in seawater desalination, current solutions and suggestions for drawbacks continued (Morton et al., 1997,
Latorre, 2005, Mohamed et al., 2005, Jacob, 2007, Tularam and llahee, 2007, Vedavyasan, 2007, Sarp et al., 2008, Agus et al., 2009, Jeppesen
et al., 2009, Martinetti et al., 2009, Ji et al., 2010, NCED, 2010, VOLLPRECHT, 2013).

SWRO step Associated problems Existing Solutions Essential study areas

High pressure 1. Corrosion in pumps. Offset with renewable 1. Use of alternative membranes such

pumping 2. Carbon emission from the energy. as lower hydraulic pressure
desalination plant. Use corrosion resistant membranes.

pumps. 2. Corrosion resistance coating to
pumps.

Membrane 1. Brine disposal on land has a Concentrated brine diffuses 1. Reduce brine volume.

separation significant adverse effect on to land or sea. 2. Brine management guidelines
aquifer. Metal recovery before (current ISI* research).

2. Brine discharge to sea cause discharging (research 3. Improvements in high recovery.
impacts on marine fauna and stage). 4. Development of better membranes.
flora. High recovery of RO brines 5. Proper pre-treatment methods.

3. Low water recovery (30-50%). using FO and membrane. 6. Assessment of alternatives to

4. RO fouling (Chemical cleaning distillation (research stage) disposal of used RO membranes
agents increase the cost of water . Alternative membranes (current ISI* research).
production). (e.g. FOstill in research

5. Disposal of used RO. stage).

Product quality 1. Higher concentration of Br-in . Boron removal using ion 1. Proper boron removal method.
product water. exchange, multi stage RO, 2. Proper guidelines for limits.

2.
3.

Treatment of Br-and I' (DBFs).
Boron removal.

EDR, and electro-
coagulation.

LISI -Institute for Sustainability and Innovation, Australia



As Table 3 explains, pre-treatment sludge and ROC management needs more attention. During
this PhD study, application of FO as a solution to sludge and ROC management was studied.
Therefore, among five major SWRO processes, pre-treatment process and RO membrane
desalting process were selected to explain in detail in this dissertation.

2.1.1 Feed Seawater Pre-treatment

Pre-treatment is the most important part in SWRO as it will lead to the reduction in membrane
fouling, higher recovery, longer membrane life and higher quality product water. Intake
seawater is pre-treated to filter debris, suspended particles, dissolved organics, and micro-
organisms providing significant operational benefits such as lower RO replacement rates and
reduced backwash frequencies. Pre-treatment methods may vary depending on the influent
water qualities such as suspended solids (SS) concentration and Silt Density Index (SDI),
investment cost, and environmental impact assessments. Table 4 shows characteristics of intake
seawater at Perth Seawater Desalination Plant (PSDP), Australia (VOLLPRECHT, 2013).
Drawing water typically contains 35,000 - 37,000 mg/L salinity and at this particular day it
was 36,500 mg/L.

Blank et al (2007) have summarised most areas needing R&D in each large scale desalination
process. According to their report, pre-treatment is one of the areas needing the most R&D in
large scale RO desalination process (Blank et al., 2007a). Intake seawater is being pre-treated
using either (1) chemical treatments (conventional coagulation and filtration) and/or (2) low
pressure membrane treatment (Microfiltration / Ultrafiltration). Conventional pre-treatment
needs more space and improved sludge management options, but requires lower investment
cost and lower energy requirements compared to low pressure membrane treatment (NCED,
2010). A surface seawater SDI of 13-25 was reduced to below 1 through ultrafiltration pre-
treatment whereas conventional pre-treatment failed to reduce SDI below 2.5 (Brehant et al.,
2002). Even though SDI below 3 is typically acceptable for RO systems, much lower SDI
reduces the RO flushing frequency required (Kremen and Tanner, 1998). RO cleaning
frequency with conventional pre-treatment (coagulation + 2 stage sand filtration) is 4-12 times
per year whereas only 1-2 times per year with UF membrane pre-treatment (Kim et al., 2009).



Table 4: Intake seawater properties as at July 2012 at Perth Seawater Desalination Plant
(PSDP) (VOLLPRECHT, 2013)

Parameter Concentration (mg/L)
pH 8.17
Conductivity at 25 °C 5100 mS/m
Total filtered solids 36500
Suspended solids 30
Total alkalinity 116
Alkalinity as HCOs 139
Carbonate <1l
Calcium — unfiltered 420
Magnesium—unfiltered 1342
Hardness as CaCO3 6590
Aluminium—unfiltered <0.16
Manganese— unfiltered <0.04
Potassium- unfiltered 175
Sodium-— unfiltered 11300
strontium-— unfiltered 7.5
Boron— unfiltered 4.9
Sulphate— unfiltered 2889
Sulphur— unfiltered 964
Barium-— unfiltered <0.004
Silicon (as SiO) by DA <0.2
Nitrogen-Ammonia <0.005
Nitrogen -Kjeldahl <0.02
Nitrogen -NO2+NOs 0.010
Nitrogen -NO; <0.002
Nitrogen -NO3 0.010
Total Nitrogen <0.02
Total Iron <0.06
Phosphorous- Total 0.016
Chloride 20510
Bromide 72.6
Fluoride 0.70
Total organic carbon (TOC) 0.9

In general, chemical pre-treatment is most often used technique in current operating SWRO
plants (Hoang et al., 2009). Large scale SWRO plants (Perth plant in Austarlia and worlds’
largest desalination plant, Fujairah, UAE plant which produce 144 ML/day and 170 ML/day,
respectively) pre-treat their seawater using chemical treatment methods. Perth plant’s process
flow diagram is given in Figure 3. Furthermore, among 32 desalination plants surveyed by
CSIRO, Australia, approximately half of plants use conventional pre-treatment options (Hoang
et al., 2009). FeCls, FeSO4 and Alum are the commonly used coagulants and additional

chemicals as coagulant aids, disinfectors and scaling control agents are used.
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Figure 3: Process flow diagram of Perth Seawater Desalination Plant
(PSDP)(VOLLPRECHT, 2013).

Generated sludge needs to be disposed in a way that it minimizes the negative effects to the
environment. However, major issue in sludge management is transportation and disposal which
takes more than 75% of total sludge treatment O&M cost (VOLLPRECHT, 2013). Figure 4
shows a cost analysis for sludge treatment (these values have calculated considering one
specific day at the Perth desalination seawater desalination plant). Chemicals and power take
only 1.9% and 1.4% of the total operation and maintenance (O&M) cost, respectively.
Transportation and disposal take 18.4% and 78.3%, respectively, which is significantly a higher
amount. Therefore, it is evident that reduced sludge volume could significantly reduce

transportation and disposal expenses associated with chemical treatment method.
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Figure 4: Sludge treatment operating and maintenance cost analysis at PSDP
(VOLLPRECHT, 2013).

2.1.2 Desalting Process

RO membrane separates pre-treated seawater into two streams; permeate and RO
concentrate (ROC) under a hydraulic pressure higher than the osmotic pressure, and therefore
has a higher energy requirement (65-85%) compared to other SWRO steps (Refer Table 5).
Permeate requires further treatment before distribution to communities. ROC needs further
management options before discharge. Properties of permeate and ROC depend on the
performance of membrane unit. Membrane fouling, which leads to poor membrane
performance, is the major factor that limits use of RO technology to treat seawater (Luo and
Wang, 2001).

At present, ROC is discharge back to the sea (diffuses at a specific rate at which they
get blend with seawater), land (ground infiltration, evaporation basin, discharge to beach, Zero
Liquid Discharge (ZLD)) and dispose to sewer lines (Morton et al., 1997, Ahmed et al., 2001,
Sadhwani et al., 2005). Evaporation ponds and ZLD (brine concentrators) are the most
expensive options due to statutory groundwater regulations and energy requirements,
respectively (Greenlee et al., 2009). Post treatment of ROC take up a significant percentage of
the total cost of desalination. Therefore, recent research has been focused on reducing ROC
volume which will reduce the operational and maintenance cost. Brine volume can be reduced
by further concentrating it (Martinetti et al., 2009), applying alternative membranes for RO
(Elimelech, 2007) and increasing recovery of RO unit. Currently, these options have attracted
a lot of research interest and pilot scale plants have been used. ROC disposal on land has a
significant adverse effect on aquifer (Mohamed et al., 2005). On the other hand by discharging
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back to the sea there can be impacts on marine fauna and flora (Latorre, 2005), and algae
formation near the beach (Ahmed et al., 2001). Many of the Disinfection By-products (DBPS)
formed during pre-treatment and post treatment (a result from reactions between organic and
inorganic matter in water with chemical disinfection agents such as bromide, ozone, Cl: etc)
will be discharged with the ROC and they could affect marine ecosystems if they are not diluted
sufficiently after discharge (Agus et al., 2009). On the contrary, after monitoring four years
continuously, Western Australia University’s Palmer reports that (Palmer, 2012) there is not
any impact on marine fauna and flora. However, there could be an impact on the marine system
as Palmer, 2012 reports only from a short period research. Therefore, implementing
national/global level guidelines and standards for seawater ROC discharge (either to sea or

land) would be a better initiative to control impacts on environment.

Table 5: Percentage cost and specific energy comparison at each SWRO step (Wilf and
Klinko, 1998, Dreizin, 2006, Semiat, 2008, Charcosset, 2009, WaterReuseAssociation, 2011)

SWRO step Cost/ total water Specific energy Energy / total power
price (KW he'/m?® of requirement (%)
product)

Intake 0.79!

Pre-treatment 4.1% (chemicals) 8-12%
Conventional 0.072
Membrane 0.10?

High pressure pumping 25.4% (energy) 2.83% 1 65-85%

Desalting process 5.4% r

Post treatment 1.8% J <2%

*g-electric , * (intake + raw water supply + feed booster), 2 kwWh/m? of effluent, * (pumps +
turbine + motors + auxiliary + lighting)

2.1.2.1 Brine management
Brine has high salinity value depending on the recovery rate of the RO unit and is sent

for further treatment before being discharged to a land or to a water body. Generally, the TDS
of the brine will be double the value of seawater (source) however will depend on the recovery
of RO. Concentrated brine has TDS values of more than 65, 200 mg/L. Figure 5 shows the
process flow diagrams of two SWRO plants namely, Eni Gela plant and Fujairah plant.
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Figure 5: (a) Schematic of current conventional pre-treatment of Fujairah SWRO
desalination plant (Al-Sarkal and Arafat, 2013); Process flow diagram of (b) one-stage
SWRO plant in Eni Gela, Sicily and (c) two - stage SWRO plant in Fujairah, UAE.

Currently, brine from most SWRO plants is discharged back to the sea (diffused at a
specific rate at which they get blended with seawater (Water-Technology.net, 2013, Ahmed et
al., 2001)) or to the land (ground infiltration, discharge to beach (Ahmed et al., 2001). Solar
evaporation (Greenlee et al., 2009), wind aided intensified evaporation (has been only
demonstrated at laboratory scale (Katzir et al., 2010), spray irrigation (Sethi, 2006)) and
disposal to sewer lines (Morton et al., 1997, Ahmed et al., 2001, Sadhwani et al., 2005), zero

liquid discharge (Greenlee et al., 2009) are other options for brine management. Evaporation
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ponds and zero liquid discharge (brine concentrators) are the most expensive options due to
statutory groundwater regulations and energy requirements, respectively (Greenlee et al., 2009,
Sethi, 2006). From a survey of 137 drinking water plants which are having capacity of greater
than 98 m3/day, brine disposal methods have been divided as shown in Figure 6 (Ahmed et al.,
2001).

60%

50%

40%

30%

%
.
.
.

10% 7 -
To surface ToWW Land disposal  Deep well Evaporation
water teratment plant injection ponds

Disposal Method

Figure 6: Brine disposal methods from a survey (Ahmed et al., 2001).

Post treatment of brine takes up 5-33% of the total cost of desalination (Ahmed et al.,
2001). Therefore, recent research focuses on reducing brine volume which will reduce the
O&M cost. Brine volume can be reduced by further concentrating (Martinetti et al., 2009)
(using membrane distillation or electro-dialysis, recovering commercial products (Jeppesen et
al., 2009)), applying alternative membranes for RO and increasing recovery of RO unit. Water
recovery of single stage RO process lies between 40-60%. As Figure 6 depicts the recovery of
RO process at single stage Eni Gela plant and two-stage Fujairah plant to be 45% and 41 %
respectively. Hence, increase in water recovery would undoubtedly reduce the volume of
concentrate. However, when the volume is less, concentration of minerals and chemicals are
higher. This can cause more negative issues since many disposal regulations are based on
concentrations but not on volume (Ahmed et al., 2001). Further, SWRO plants are based near
beaches and major brine disposal method is diffusing it back to the sea. Therefore, if the brine

is discharged back to sea, having lower concentrations is an added advantage. Main advantage
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would be the rapid rate of diffusion/dispersion. Therefore, this study focuses on brine

management while reducing the volume of sludge of the SWRO process.

2.1.3 Future Perspective

Forward Osmosis (FO) is a novel emerging technology which could possibly support and
improve the SWRO process by increasing water recovery. FO is being used in desalination
industry to concentrate the brine (Martinetti et al., 2009), to replace the second stage of two
staged RO system etc. However, this technology is still in laboratory scale and pilot plant scale
(McCutcheon and Elimelech, 2006, Elimelech and Phillip, 2011) due to various disadvantages
compared to RO such as significantly lower flux, higher reverse salt flux, and complexity of
regeneration of draw solution from product water. Therefore, much research is being conducted
on application of FO in SWRO and this is a competitive research area to date in the field of

desalination.

Next section of this literature review comprehensively explains the theory behind FO

technology and its applications and limitations.

2.2 Forward Osmosis (FO) Technology

Osmotically driven membrane process, Forward Osmosis (FO) or Pressure Retarded Osmosis
(PRO), is a promising technology which is being used in different pure water separation, diary,
food processing and pharmaceutical applications. When a diluted solution and a concentrated
solution are separated by a semi-permeable membrane, water permeates through the membrane
from diluted solution to the concentrated solution due to the difference in water chemical
potential (osmotic pressure). Consequently, diluted solution (known as feed) gets concentrated
whereas concentrated solution (known as draw) gets diluted. The driving force for the water
permeation is the osmotic pressure difference between the two solutions and this phenomenon
is called osmosis. However, due to the concentration gradient between feed and draw solutions,
there is an unwanted salt flux from draw to feed solutions, which is known as reverse salt flux
(RSF).
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2.2.1 Theoretical background of FO

Osmotic pressure (7) is the pressure which, if applied to the more concentrated solution, would
prevent transport of water across the membrane (Cath et al., 2006). Figure 7 shows osmotic
pressures of few selected salt solutions, obtained using OLI Stream Analyser® software.
Osmotic pressure of a solution is a function of its concentration; the higher the concentration
the higher the osmotic pressure. At present, MgCl2 has the highest osmotic pressure at a similar

concentration compared to other available potential salt solutions.
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Figure 7: Osmotic pressure as a function of solution concentration at 25°C (Cath et al., 2006).

Figure 8 shows the water permeation through membrane during Forward Osmosis (FO),
Pressure enhanced Osmosis (PEQ), pressure retarded osmosis (PRO) and RO. Water flux
direction is from lower concentration solution to the highly-concentration solution for FO, PRO
and PEO. However, in RO water flux is from the highly-concentrated solution due to applied

pressure, which is significantly higher than osmotic pressure.
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Figure 8: Different osmosis processes (Nicoll).
The general equation describing water transport through FO, RO, PEO or PRO is given by:
Jw = A(cAm — AP) (D

Where, J,, is the water flux, 4,0, Ar and AP are water permeability coefficient of the
membrane, reflection coefficient, osmotic pressure difference and applied pressure,
respectively. For RO, Ar < AP and for PRO A > AP. But for FO operations, AP is zero as

FO operates with no applied pressure but with natural osmotic pressure difference.

Let’s consider FO operation. One would expect to have a water flux through the FO membrane
as explained by basic water transport equation (1):

Jw = AG(”D,b - ﬂF,b) (2)

Where rp, , and mrr ;, are bulk osmotic pressure of draw solution and bulk osmotic pressure of

feed solution, respectively.

However, in real applications membranes do not perform perfectly. Often, we get lower water
flux than theoretical value as effective osmotic pressure difference is lower than expected. This
lower than expected osmotic pressure difference is due to salt leakage from highly concentrated
solution to lower concentrated solution, simply from draw solution to feed solution (Hancock
and Cath, 2009, K.L et al., 1981) as well as due to the concentration polarisation (CP) effect.
CP can affect internal to the membrane (ICP), that is in the porous support layer of the
membrane or externally (ECP), that is on the surface of the membrane. Figure 9 shows the
schematic representation of ECP and ICP effects when membrane filtration happens in active

layer - facing draw solution (AL-DS) and active layer - facing feed solution (AL-FS) modes.
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Cpp and Cr, are the salt concentration of the bulk feed solution and bulk draw solution and
Cpm and Cr,, are salt concentration near the membrane surfaces of draw and feed sides. Cp;,
and Cr; are the salt concentrations of draw and feed solutions respectively at the porous and

dense layers’ interface.
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Figure 9: Schematic representation of external and internal concentration polarisation (ECP
and ICP) effect across FO membrane during water permeation. Figure adapted from (Cath et
al., 2006).

As Figure 9 depicts, due to ICP and ECP effects on the sides of the membrane, effective
osmotic pressure (which is directly proportional to the concentration) drives the water flux less
than expected. Therefore, corresponding water flux considering this ECP and ICP effects is

given by:

Jw = AO_(T[D,m - nF,i) (3)

Where, - ; is the osmotic pressure at the active dense layer and support porous layer interface.

However, rr; and mp, ,, cannot be measured or predicted.

From theory, mp, ,,, can be expressed as follow:

-
Tom = Mo exp (72) (5)
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Similarly, mr ; can be expressed as follow:

Mri = TFp exp(Kf]W) (6)
Where,
kp = mass transfer coefficient in the draw solution side and
K¢ = solute resistivity for diffusion within the porous support layer

Therefore, substituting (5) and (6) in equation (4), water flux through FO dense layer is given

by:

Jw

o = Al exp () = s expUK) )

When the feed solution is in contact with the support layer of the membrane, the mode of
filtration is called PRO mode or AL-DS mode and when it is in contact with the active layer
of the membrane, the mode of filtration is called FO mode or AL-FS mode. Thus, Eq. (7) is
applicable for PRO mode. For FO mode, water flux through FO dense layer is given by:

Ji
Jw = A|mpp exp(—JKp) — T, €xp <§ (8)
ks = mass transfer coefficient in the feed solution side and
Ky = solute resistivity for diffusion within the porous support layer

Solute resistivity K is defined as:

tt

K= eDg )

Where, t, T and € are membrane thickness, tortuosity and porosity, respectively. Dy is the

solute diffusion coefficient (K.L et al., 1981) of a single solute. Larger K values are
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associated with more severe ICP effect (Cath et al., 2006). S is called the structural constant

and is defined as:

tt
KDy=—=S5 (10)

Obtaining parameters in flux models

Further Leob et. al (Loeb et al., 1997) have derived an equation to determine K:

K:<1) B + Amp (10)

— ] 1n
B+], +Ang .,

w

Where, B is salt permeation coefficient. A and B can be obtain using RO type experiments. A
can be obtained from equation (1) and if salt rejection in RO is denotes by R, B is related to
R by:

5 AQ=R)(P - Am)

R (11)

The parameter K can be obtained from FO type experiments where applied pressure is zero.
If pure water is used in feed side 5, is equal to zero. If the osmotic pressure of the draw

solution is known, , K can be obtained following equation (K.L et al., 1981):

AT[D b _]W
K~ ——— 12

Mass transfer coefficient k is given by:

_ ShD 13

= (13)
Where,

d 0.33
Sh=1.85 (Re Sc Th) for laminar flow (14)

And
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Sh = 0.04Re%7°5¢%33 for turbulant flow

(15)

Here Sh, d;, Re, Sc and L denotes Sherwood number, hydraulic diameter, Reynolds number,

Schmidt number and length of the channel, respectively.

All these parameters are explained in the Table 6 below.

Table 6: Experimental methods to compute characteristic parameters of an FO membrane

Parameter Equation Experiment
A Jw = A(Amr — AP) | RO type experiment (with a known applied pressure
(water permeability AP)
coefficient)
B A(1—R)(AP — Am) | RO type experiment. R is salt rejection of the
(salt permeation R membrane and A is known from above experiment
coefficient)
K ATtpp — Jw FO type experiments with no applied pressure. Pure
(Solute resistivity) BJ,, water is used in feed side (therefore, 7 j, is zero). p 5,
is the osmotic pressure of the draw solution.
K Sh—D Sh =1.85 (Re Sc ﬂ)o.33 (for laminar flow)
(Mass transfer dp, L
coefficient) Sh = 0.04 Re®7>5¢%33 (for turbulence flow)

Where Re - Reynolds number, Sc - Schmidt number, dy - hydraulic diameter, L - channel length, Sh — Sherwood

number.

2.2.1 Applications of FO

Since late 1990s, that is after HTI Innovations (USA) started commercial FO membrane
fabrications, FO has been given significant attention and number of lab scale and pilot scale
research have started in progress. As per the literature the main factors that needs research

attention in FO are:

1. Selection of a proper draw solution: which gives higher water flux, lower reverse
salt flux (RSF) and easy to regenerate

2. FO hybrid systems: applying FO to improve existing processes (such as RO, MD)
and/or to increase the applicability of FO system (such as to regenerate draw).
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3. Water flux optimisation through FO: Varying the process parameters to improve the
FO process.

4. Type of membranes: Fabrication of novel membranes is given significant attention.
Material and the fabrication methods are varying to improve the performance of the membrane

5. Fouling tendency of the FO membrane

These five points will be discussed in detail in the following sections.

2.2.1.1 Selection of a Proper Draw Solution

A draw solution should be having a higher osmotic pressure compared to the feed solution to
yield a higher water flux. Also, it should be non-toxic, chemically inert to the membrane, highly
soluble in water, and specially it should be easily regenerated and separated from the pure
product water. A draw solution having above properties can be organic, inorganic, combination
of organic — inorganic nanoparticles or gas and volatile compound (Alejo et al., 2017). Gaseous
and volatile compound draw solutions have limited advantages such as lower water flux and
limited recyclability. Further RSF is higher. Organic and inorganic solutes give higher water
flux since their osmotic pressure is higher, but, regeneration of draw solution is not economical.
Recently, magnetic nanoparticles (MNP) have been used as draw solutes in FO for water reuse.
Studies prove that the MNPs can be easily recovered from draw solutions by applying a
magnetic field (Ling et al., 2010a, Ge et al., 2011). However, water flux is comparatively low
when a magnetic field is applied. Despite these finding from this research group, ion
aggregation is a disadvantage and the human health and environmental hazards are still under

assessment yet.

Table 7 shows the research on types of draw solutions for FO applications. Having same
osmotic pressure, NaCl, MgCl, and NH4sHCOs have performed in a different way with the same
CTA flat sheet membrane. This is due to the variation in density and viscosity of the draw
solution. Even though NaCl shows highest water flux among the three selected draw solutions,

it gives the highest RSF as well.

Since the KCI osmotic pressure is significantly high (89.3 atm) it has shown a higher water
flux with CTA flat sheet membranes. PEG-(COOH)>-MNPs 250, having nearly same osmotic
pressure as KCI has shown only half of the water flux even in PRO mode. As mentioned earlier,

MNPs lead to lower flux than inorganic draw solutions at the same osmotic pressures.
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Other than the draw solutions mentioned in the Table 7 and in the text, SO2, Aluminium
sulphate, Glucose, Fructose, polymer hydrogels, copper sulphate, magnesium sulphate and
citrate-coated magnetic nano-particles have been investigated as draw solutes in FO
applications (Li etal., 2011a, Kravath and Davis, 1975, Lietal., 2011b, Naetal., 2014, Alnaizy

et al., 2013a, Alnaizy et al., 2013b). However, all of these are having pros and cons.

Table 7: The physicochemical properties and FO water flux of draw solutes used in FO

processes. Table adapted from Ref. (Ge et al., 2013). Feed solution was DI water except for

Polyglycol copolymer*.

Draw solute(s) Concentration | Osmotic Molecular | Water | Remark Ref.
(M) pressure weight flux
(atm) (9/mol) (LMH)
NaCl 0.60 28 | 58.5 9.6 | CTAFS (Achilli
membrane | etal.,
FO mode 2010)
MgCl> 0.36 28 | 95 8.4 | CTAFS (Achilli
membrane, | etal.,
FO mode 2010)
KCI 2 89.3 | 74.6 226 | CTAFS (Phuntsho
membrane, | etal.,
FO mode 2011)
NHsHCO3 0.67 28 | 79 7.3 | CTAFS (Achilli
membrane, | etal.,
FO mode 2010)
Sucrose 1 26.7 | 342.3 12.9 | CA HF, (Suetal.,
FO mode | 2012)
PAA-Na 1200 0.72g/mL 44 | 1200 Da 22 | CA HF, (Mathew
PRO mode | etal.,
1989)
PEG-(COOH).-MNPs 0.065 73 | None 13| CTAFS (Geetal.,
250 membrane, | 2011)
PRO mode
1, Trimethylimidazolium | 1 50 | 238 13| CTAFS (Yenet
iodide membrane, | al.,
PRO mode | 2010a)
Sodium formate 0.68 28 | 68 9.4 | CTAFS (Alejo et
membrane, | al., 2017)
FO mode
Polyglycol copolymer* | 30~70% 40~95 >500 Da >4 CTAFS
(feed = 3.5% NaCl) membrane,
FO mode
Sodium hexa- 0.067 None 1089 6| CTAFS (Geetal.,,
carboxylatophenoxy membrane, | 2013)
phosphazene FO mode
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Once the draw solution has extracted pure water from the feed solution, regeneration is a
controversial issue. Regeneration is a further process hence it gives extra complexity for the
FO process. RO is to be a better regeneration process operating at low pressures depending on
the final concentration of draw solutions (Miller et al., 2007), however some researchers
suggest Membrane Distillation (MD), Nano Filtration (NF), Ultrafiltration (UF) and

evaporation as a replacement to RO since the operating cost for RO is high.

Table 8 shows the current regeneration approaches tested by different research groups. As
explained above, RO is an option however, operating cost is high. NF, UF and ED regeneration
have relatively low operating costs. MD’s recovery rate is higher, however, similar to RO it

has high operating costs.

In addition to regeneration, RSF or reverse salt diffusion is an inherent disadvantage in FO
applications. This is critical when FO is applied in food and dairy industry as it affects the final
quality of the food concentrate or diary product concentrate. In these specific applications, most
commonly investigated draw solutions are NaCl, glucose, fructose, sucrose and corn syrups as

they are non-toxic.
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Table 8: Overview of the existing recovery approaches of draw solutions in FO (Kravath and Davis, 1975, Tularam and

Ilahee, 2007, McCutcheon et al., 2006a, McGinnis and Elimelech, 2007, McCutcheon et al., 2006b, Stone et al., 2013, Cath et al., 2010,
Yangali-Quintanilla et al., 2011, Bowden et al., 2012, Tan and Ng, 2010, Zhao et al., 2012, Su et al., 2012, Ge and Chung, 2013, Hau et al.,
2014, Ge et al., 2012a, Ling and Chung, 2011, Yen et al., 2010b, Guo et al., 2014, Zhao et al., 2014, Wang et al., 2011, Ge et al., 2012b, Xie
et al., 2013, Zhang et al., 2014, Zhang et al., 2013, Alnaizy et al., 2013a, Alnaizy et al., 2013b, Li et al., 20114, Li et al., 2011b, Razmjou et
al., 2013b, Ling et al., 2010b, Ge et al., 2011, Phuntsho et al., 2011, Phuntsho et al., 2012, Razmjou et al., 2013a, Cath et al., 2006, Ling and
2011, Ou et al., 2013, Duan et al., 2014)

Chung, 2012, Liu et al.,

Category Recovery methods Draw solutions Advantages and disadvantages
Thermal Heating or air stripping | SO; Easy, but energy intensive, and toxic
separation? Heating (~60 °C) NH3/CO- High water recovery rate, energy-
efficient, but poor water quality
Hearting (~60 °C) with | SPS Energy-efficient, but poor water

for recovery?

Ca(OH)2

bubbling N quality
Membrane RO Seawater, organic High water recovery rate, high salt
separation ionic salts rejection, but high operating cost
NF Divalent salts (e.g. High water recovery rate, relatively
MgSOy), sucrose, high salt rejection, relatively low
EDTA sodium salts, | operating cost, but limited to the DSs
hydroacid complexes | with multivalent ions
UF PSA, modified MNPs | High water recovery rate, low
operating cost, but poor salt rejection
especially for DSs with low Mws
MD 2-Methylimidazole- Low capital cost, high water quality,
based compounds, relatively high water recovery rate,
NaCl, Na-CQDs, less affected by feed salinity, but high
PSA, thermosensitive | operating cost unless using low grade
copolymer heat
ED NaCl Energy-saving when combined with
solar energy, adjusting the salt
concentration of product water, but
high capital cost, unsuitability for
desalination of high saline water
Precipitation | Precipitation by adding | Al,(SO4); Energy-efficient, but costly

consumables toxic by-products

Metathesis precipitation
by adding Ba(OH)2

MgSOu, CuSOs

Energy-efficient, but costly

consumables, toxic by-products
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Stimuli— Response to heat Hydrogels Relatively energy-efficient,
response for | combined with hydraulic environmental-friendly, but poor
recovery pressure liquid water recovery rate,
Response to sunlight Composite hydrogels | unsuitability for practical applications
Response to gas pressure | Hydrogels in a continuous FO process
Magnetic separation Functionalized MNPs | Easy, energy-efficient,
environmental-friendly, high water
recovery rate, but poor reusability due
to agglomeration, poor water quality
Response to magnetic Magnetic hydrogels Relatively energy-efficient,
heating environmental-friendly, but poor
liquid water recovery rate,
unsuitability for practical applications
in a continuous FO process
Combined Precipitation combined | Alx(SO4); combined | Energy-efficient, but complicated

processes for

recovery

with magnetic response

with Fe;04@SiO;

procedures, toxic by-products

Integrated electric-field

NF system

Surface-dissociated
MNPs

High water recovery rate, good
reusability but complicated

procedures

Hot ultrafiltration (HUF)

Thermosensitive

polyelectrolytes

Easy, high water recovery rate, but
relatively high operating cost unless

using low grade heat

Direct use for
drinks,

None

Glucose, fructose,

edible saccharide

No energy input, but not pure water,

limited to specific applications

irrigation, solutions,
and desert
restoration Fertilizer No energy input, but not pure water,
requiring post treatment for direct
irrigation, needing a large storage
tank
NaLS No energy input, but not pure water,
S:)f((j)irl:;e;ignin limited to specific applications

1= G.W. Batchelder, Process for the demineralization of water, US Patent, 1965 and R.L. McGinnis,
Osmotic desalination process, US Patent, 2002. >= B.S. Frank, Desalination of sea water, US Patent,

1972.
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2.2.1.2 FO Hybrid Systems

A few commercial scale FO hybrid applications were launched in 2016, however very little
data is available in literature on these (Miller et al., 2007). The hybrid systems mentioned in
this section are operating in lab scale or pilot scale plants.

Fertiliser drawn FO desalination (FDFO) has been successfully applied in lab and pilot plant
scale to dilute fertilisers while concentrating saline ground water (Phuntsho et al., 2012,
Holloway et al., 2015, Mathew et al., 1989). Recent studies are trying to implement FO-RO
hybrid systems to reduce the energy costs associated with typical RO plants. This energy saving
occurs when feed seawater is diluted using a waste water stream so that diluted seawater needs
less pressure during the RO desalting process. Further FO hybrid systems have demonstrated
the potential of a combined FO and membrane bioreactor (MBR) hybrid system, known as the
osmotic membrane bioreactor (OMBR) system to produce high quality product water with low
fouling tendency (Cornelissen et al., 2008, Zhang et al., 2012, Liu and Mi, 2012), however only
at lab scale. FO membranes have been used to dilute seawater using secondary wastewater
effluent as draw solution, in order to reduce the energy cost associated with desalination
(Yangali-Quintanilla et al., 2011). A few studies have been carried out to treat landfill leachate,
food industry effluent, and to increase the water recovery of RO (Petrotos et al., 1999, Achilli
et al., 2009, Martinetti et al., 2009, Alejo et al., 2017). Table 9 shows the FO hybrid systems

used and advantages gained compared to conventional stand-alone FO process.

In general, hybrid systems are energy efficient compared to stand alone systems. For example,
in a FO-LPRO hybrid system, energy cost is only 50% (~1.5 kWh/m?®) of that used for high

pressure SWRO desalination.
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Table 9: FO hybrid systems reported in literature. Table adapted from (Chekli et al., 2016).

carbon quantum
dots (Na-CQDs)

membrane

fifth cycle. Almost negligible

reverse draw solute permeation.

Hybrid system Draw solution Membrane type(s) for FO FO performance Remarks
process
FO-heating NHsHCO;3 Commercial flat sheet (FS) Water flux: 7.2 LMH. Reverse salt | Energy efficient process (i.e. specific energy
(~60°C) RO and CTA FO membranes | flux: 18.2 g/m?h at 2.8 MPa (lab- consumption of the hybrid system is significantly
(lab-scale studies) and scale studies). Water flux: lower than other thermal distillation methods)
polyamide (PA) thin-film 2.6LMH, system recovery of 66% | with high water recovery rate but water quality
composite (TFC) FO and more than 99% total dissolved | does not meet the WHO standard for ammonia
membrane (pilot-scale study) | solids (TDS) removal (Pilot-scale
study)
FO-MD 2-Methylimidazole- | Commercial CTA FS FO Water flux: 0.1-20 LMH (2.0 M A water flux of about 8 LMH was achieved
based compounds membrane DS and DI water as feed). Reverse | across the MD membrane. ICP effects were
salt flux: 5-80 g/m?h higher when using the 2-methylimidazole-based
compound with divalent charge. High reverse salt
flux and cost of synthesis remains high.
FO-MD Na+-functionalized | Commercial TFC FO Water flux: about 3.5LMH after the | Better performance compared to NaCl.

Inexpensive, chemically inert and biocompatible.

FO-magnetic field

Thermosensitive
MNPs

Commercial FS CTA FO

membrane

Water flux: < 2 LMH. Performance
of MNPs remains stable after 5

cycles.

Separation of MNPs under lower strength
magnetic field which significantly decreased their
agglomeration. Costly and complex synthesis. No

information on permeate water quality.
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Functionalised
MNPs

Water flux: 10-17LMH (PRO
mode) and 7-9LMH (FO mode)
with PAA-MNPs at different sizes
3.6 — 21nm and DI water as feed
water. 9 and 13 LMH (FO and
PRO mode respectively) with
0.065M PEG-(COOH), MNPs and
DI as feed water. The water flux
dropped to 10.3 LMH (PRO mode)

after 9 cycles.

Straightforward and energy efficient process,
high water recovery rate but slightly drop of
water flux due to agglomeration of the MNPs

FO-UF

Modified magnetic
nanoparticles
(PAA-MNPs)

Commercial CTA flat sheet
FO membrane

Water flux (PRO mode): Up to 17
LMH with 0.08mol/L PAA-MNPs
and DI water as feed

MNPs remained active even after 5 cycles of UF
recovery without any alteration. This hybrid
system requires lower energy consumption
compared to RO and NF. However, the smaller
MNPs pass through the UF membrane and
therefore synthesis of MNPs suspension with

narrower size distribution is required.

FO-Electric field-
NF

Polyelectrolytes
(e.g. PAA-Na)

Commercial CTA flat sheet

FO membrane

Water flux (PRO mode): 6LMH
with 0.72g/mL PAA-Na as DS and

seawater as feed.

High water recovery rate. VVarious molecular
weights (MW) and expanded polymer structure
allowing DS regeneration via low-pressure UF
process. High rejection rate (>99%) for PAA
with MW of 1800Da. However, poor salt
rejection for DS with low MW.
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FO-NF Hydroxyl acids of CA, TFCon Water flux: Up to 17.4LMH with Low operating pressure (i.e. 10bar), low reverse
citric acid (CAc) polyethersulfone supports 2.0M Fe—CAc as DS and synthetic | draw solute and high rejection rate (i.e. more than
(Fe—CAc; Co-CAc | (TFC-PES) and seawater (i.e. 3.5wt% NaCl) as 90%)
and Co2-CAc) polybenzimidazole and PES | feed. 90% rejection rate for Fe—
dual layer (PBI-PES) hollow | CAc by NF membrane.
fibre membranes
FO-Stimuli to Hydrogels Commercial FS CTA FO Water flux: 0.30-0.96LMH with Environmental-friendly and relatively energy
heating combined membrane 2000ppm NacCl as feed. Very low efficient process but low liquid water recovery
with hydraulic water recovery rates (i.e. less than | rate. Unsuitable for applications that require
pressure 5%). continuous FO process
FO-Stimuli to Semi- Commercial FS CTA FO Water flux: Ranging from 0.12 to At 40°C, the semi-IPN hydrogels quickly
heating interpenetrating membrane 0.18LMH after 5h operation which | released nearly 100% of the water absorbed
network (IPN) — is 1.5-3 times higher than during the FO drawing process. Drawing and
hydrogels conventional hydrogels. Better dewatering cycles are highly reversible.
performance can be achieved by However, very low water flux (i.e. less than 0.5
increasing membrane/hydrogel LMH).
contact area.
FO-Stimuli Composite Commercial FS CTA FO Water flux: Up to 3.1 LMH with Environmental-friendly and relatively energy
response to hydrogels reduced | membrane 2000ppm NacCl as feed. Water efficient process but low liquid water recovery

sunlight

graphene oxide

recovery up to 44.3% at 1.0 kw/m?

with 1h exposure time.

rate and low water flux. Unsuitable for

applications that requires continuous FO process
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Composite
hydrogels light-
carbon particles

Commercial flat sheet CTA FO

membrane

Water flux: Up to 1.32 LMH with 2000ppm NaCl
as feed. Up to 100% water recovery rate when
solar light is used with 1h exposure time at a

solar irradiation of 1.0kW/m?.

FO-Stimuli Hydrogels Commercial FS CTA FO Water flux: Up to 1.5LMH with 2000 ppm NaCl

response to gas membrane as feed. Gas pressure stimuli worked better for

pressure large particles whereas temperature stimuli are
more effective with small particles

FO-Stimuli Magnetic hydrogels | Commercial FS CTA FO Water flux: Up to 1.5 LMH with 2000ppm NaCl

response to membrane as feed. 53% Liquid water recovery via magnetic

magnetic heating

heating compared to only 7% under convection

heating.
FO-Stimuli to Functionalised Commercial FS CTA FO Water flux: Up to 20 LMH after 3 | A high water flux up to 23.8LMH and high water
heating thermo-responsive | membrane cycles (decrease of 13% compared | recovery ability of 72.4% were achieved.
microgels to initial flux).
FO-RO Glucose Not reported Not reported Limited water recovery due to the low osmotic

efficiency of glucose which also created high ICP

effect due to its large molecular weight.

30




FO-LPRO Red seawater Commercial CTAFS FO After 10 days of continuous FO Energy cost of this hybrid system is only 50%
membrane operation, 28% of flux decline was | (~1.5kWh/m3) of that used for high pressure
observed (initial water flux of SWRO desalination
5LMH) but membrane cleaning
(hydraulically cleaned) allowed
98.8% water flux recovery.
FO-MSF/MED Concentrated Brine No experimental results — Simulation results showed that FO demonstrates
modelling studies only good performance for the removal of divalent
ions from feed solution which mitigates the
scaling on the surface of heat exchangers. FO-
MED system is less energy intensive and has
greater recovery rate compared to FO-MSF.
FO-NF Various DS tested Commercial FS CTA FO Water flux: 10LMH for both FO Water flux of about 10LMH was observed for
both inorganic and | membrane and NF processes. Salt rejection by | both FO and NF processes. High salt rejection
organic salts FO membrane up to 99.4% for all (i.e. up to 97.9% for NF process) and good
DS tested. quality product water (i.e. meeting the drinking
water TDS standard).
FO-NF Divalent salts Commercial CTAFS FO Water flux: 8-12LMH (FO and Lower operating pressure, less flux decline due to

(MgCl,, Na2S0y)

membrane

PRO mode tested). Higher fluxes
were obtained with PRO mode but
flux decline was more pronounced.
Salt rejection of the diluted DS:
97.7%.

membrane fouling, higher flux recovery after
cleaning, higher quality of product water

compared to standalone RO process.
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FO-ED

NaCl

Commercial CTA FS FO

membrane

Water flux: Up to 3.5LMH
(simulation not experimental) with
1M NaCl as DS and brackish water
or wastewater as feed and assuming

130 L/day product water.

Energy efficient process when ED powered by
solar energy. High quality produced water
meeting potable water standards but high capital
cost and unsuitable to desalinate high saline

water

32




In addition to these advantages, one inherent disadvantage of FO process is lower water flux.
Since the water flux through the membrane decides the productivity of the whole process, a lot
of research is being conducted to optimise water flux through FO. This is being testing in lab
scale using (1) changing FO process parameters (cross flow velocity (CFV), pH, Temperature,
feed and draw concentrations, sonication, etc), (2) varying membrane modules (flat sheet,
hollow fibre, spiral wound, different material of the membrane (CTA, PA, PSf) and (3)

different fabrication methods.

2.2.1.3 Water Flux Optimisation Experiments

Several researchers have studied the effect of CFV on water flux when different types of draw
solutions are used. Higher CFV should perform better as it reduces the ECP effect. Hawari et
al (2016) have investigated the combined influence of temperature and flow rate of feeds on
the performance of forward osmosis (Hawari et al., 2016). Results demonstrated that the
concentrative internal concentration polarization (CICP) could be mitigated by increasing the
feed solution flow rate and using a spacer.

There are number of studies where researchers have tried to change the temperature of either
or both of draw and feed solution. In the same study mentioned above, Hawari et al also
investigated the increase in water flux when the draw solution temperature increases. On
increasing the draw solution (DS) temperature from 20 °C to 26 °C the flux increased linearly
and then started decreasing when temperature increased further due to the development of a
temperature gradient as shown in Figure 10. Membrane flux increased by 93.3% due to
temperature increase from 20 to 26 °C and the flow rate from 1.2 to 3.2 L/min using 0.5 M

NaCl as the draw solution and distilled water as the feed solution.
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Figure 10: (a) Effect of increasing DS temperature on the membrane flux at a DS and FS flow
rate of 2.0 L/min (DS-AL mode, 0.5 M NaCl DS, distilled water or 5 g/L NaCl FS, and 20 °C
FS temperature) (b) Effect of increasing the DS temperature with different DS flow rates on
the membrane flux (DS-AL mode, 0.5 M NaCl DS, distilled water FS, 20 °C FS temperature,
and 1.2 L/min FS flow rate). (Hawari et al., 2016).

In another study by Zhao et al., (Zhao et al., 2016), the performance of forward osmosis (FO)
in treating the high-salinity feed water was investigated under different temperatures,
membrane orientations and flow cross velocities in terms of water flux, membrane scaling and
removal efficiency of Ni (I1). They proved that increased cross flow velocity could promote
the water flux effectively for treating the high-salinity feed water, however enhanced
temperature could not. Further they reported that, for the proposed operation to be energy

efficient, the optimum operating conditions would be 35 °C and 10 cm/s.

2.2.1.4 Types of Membranes

Qasim and research group (2015) reviewed the membrane developments since the emergence
of FO technology. They categorised the recent membrane developments depending on the
method of fabrication (Qasim et al., 2015) as:

1. Thin film composite (TFC) membranes,
2. Chemical modification to the membranes, and

3. Phase inversion-formed membranes.
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A summary of their report on TFC and chemically modified membranes is given below
(Qasim et al., 2015).

TFC membranes: TFC membranes are available in flat sheet or hollow fibre. Different
research groups have used with different polymer materials such as Polyamide (PA) (both flat
sheet and hollow fibre available), polymer polyethersulfone (PES) (hollow fibre and flat sheet)
sulphonated material in the substrate (flat sheet), PSf (flat sheet), and substrates with different
contents of hydrophilic sulphonated poly (etherketone) (SPEK) (flat sheet). ICP effects from
employing TFC FO membranes are governed by the porous support layer while the selective
active layer governs the salt rejection and reverse salt permeation. To improve FO desalination
performance and reduce the ICP effects, the support layer must be highly hydrophilic with low
structural constant S (S is explained in theory section 2.2.1). However, almost all the above-

mentioned TFC membranes consist of hydrophobic PSf support.

Chemically modified membranes: NF-like FO membranes with polyacrylonitrile (PAN)
substrate using polyelectrolyte layer-by-layer (LbL) assembly were fabricated by Tang and
research group. However, lower rejection and higher production cost are the limiting factors.
Fane and group used chemical modification to fabricate both hollow fiber and flat sheet FO
membranes with Torlon® polyamideimide (PAI) substrate prepared by phase inversion
(Setiawan et al., 2011, Setiawan et al., 2012, Qiu et al., 2012). The membrane was chemically
treated with the polyelectrolyte polyethyleneimine (PEI) to develop a positively charged
nanofiltration (NF)-like selective layer. However, FO desalination applications are limited as
the salt rejection is lower. Goh et al. (Goh et al., 2013) immobilized multi-walled carbon
nanotubes (MWCNT) on PAI hollow fiber substrate by vacuum filtration method. The
MWCNT immobilized PAI substrates were then chemically treated with PEI to develop
positively charged nanofiltration (NF)-like selective layer. This modification showed higher
water flux compared to the membrane without MWCNTs. However, like other surface
modifications, RSF has not reduced. Puguan et al. (Puguan et al., 2014) chemically cross-linked
polyvinyl alcohol (PVA) nanofibrous substrate formed by electrospinning. PVVA can provide a
very hydrophilic support, hence would reduce ICP and increase the water flux. The cross-
linking was performed using acid catalyzed glutaraldehyde in acetone solution. Subsequently,
polyamide active layer was formed by interfacial polymerization. Water flux was 7-8 times
higher compared to well-known commercial HT1 membranes, due to low structural parameter

value.
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Water flux through TFC hollow fibre membranes were compared in a study conducted by
Shibuya et. al (Shibuya et al., 2017). The TFC hollow fibre membranes showed better

performances in terms of water fluxes compared to previously reported hollow fibre

membranes. Some of their results are shown in Figure 11. With the same draw and feed

concentrations (1 and 0.5 M) flat sheet membranes gave lower water fluxes compared hollow

fibre modules. However, as mentioned by Shibuya et.al, to pass through the hollow fibre

coupons, extra pressure needs to be applied. Therefore, performance comparison with flat

sheets may give opposite results in terms of economics.

In another study by Xiong and his research group, novel TFC FO membranes were fabricated
(Xiong et al., 2016) and gave water flux up to 10 LMH when DI water and 0.5 M NaCl were

used as feed and draw solution, as shown in Figure 12.
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Figure 11: Relationship between water flux and reverse salt flux of TFC-FO-HF membranes.
All data were obtained in AL-DS orientation; a): Cps = 0.5 M, b): Cps = 1.0 M (Shibuya et

al., 2017).

36




12
1 1.0 =
10 +
0 I I
9k L - = I 0.8
1 I
8k
TF 4 .| 23
§ : 7 § 50‘6
o 1
S 1 5 3
S 5 1 ]
2 S S 04 -
4k
3k I I 1
2+ l 1 1 02 ] ] [}
1F
0 0.0

i 1 I A A 0 T T T T T
TFCHPANO TFC-HPANO.S TFC.HPANT.O TFC-HPAN1S TFC-HPAN2.0 TFC-HPANO TFC-HPANO.5 TFC-HPAN1.0 TFC-HPAN1.5 TFC-HPANZ.0

Figure 12: FO performance of TFC membranes prepared with different PAN substrates. (feed
solution: DI water; draw solution: 0.5 M NaCl; flow rate: 0.3 L/min; temperature: 20 °C; FO
mode.) (Xiong et al., 2016).

2.2.1.5 Fouling of FO membranes

In addition to water flux optimisation experiments, fouling tendency of FO membrane for
different applications as investigated in some studies. All these studies have been conducted
with synthetic foulants such as gypsum, silica, organic and inorganic compounds, salts,
colloids, and microorganisms. In general, it has been shown that at lower CFV FO membrane
is less susceptible to fouling as the fouling layer is thin and loose. However, in some
applications where the CFV and water flux is high, there is a high potential for a membrane
fouling. As reported by Kim et at (2017), feed pressure could be considered as an indicator of
fouling occurrence (Kim et al., 2017). Combination of osmotic backwash and physical cleaning
used in their study was reported as effective for cleaning both CTA and TFC membrane
modules. Figure 13 shows the reduction in feed inlet pressure after proposed cleaning process
in this particular study. However, as per the reported results, proposed cleaning process failed
to recover the flux completely.
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Figure 13: (a) Feed inlet pressure change with CTA and TFC modules. Fouling experiments
were conducted using 35 g/L RSS as DS and feed fouling solution prepared by addition of
1.2 g/L RSS, 0.22 g/L CaCly, 0.2 g/L alginate, 0.2 g/L humic acid

(b) Effect of osmotic backwash and physical cleaning on the feed inlet pressure
recovery. Physical cleaning with maximum feed cross-flow velocity of 0.44 and 0.91 m/s for
CTA and TFC, respectively was performed for 5 min using tap water (Kim et al., 2017).

Silica scaling has proven to be the most dominant inorganic causing fouling in real FO
desalination applications (Li et al., 2012b, Kim et al., 2015). Organic and inorganic (gypsum
scaling) fouling, was investigated by some research groups. (Elimelech and his coworkers (Mi
and Elimelech, 2008, Baoxia and Elimelech, 2010), Lee et al. and Kim et.al (Lee et al., 2010a,
Kim et al., 2014)). For all of these fouling was highly reversible as the observed fouling layers
were loosely packed. Water flux was completely recovered by periodic rinsing, interestingly
without the addition of any chemicals. In addition to these studies, when actual brackish lake
water was used as feed water, TFC FO membrane showed a 65% water flux drop in 24 hrs,
however, similar to previous study, DI water flushing fully recovered the water flux without

any chemicals (Chun et al., 2015).
In summary, all the literature available concludes that both organic and inorganic fouling in

FO is highly reversible. This is due to the lower pressure applied during FO operation and

hence the fouled layer formed is readily removable through frequent rinsing and flushing.
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2.2.2 Summary

Despite the amount of literature available, this technology is still at laboratory scale and pilot
scale plants due to the disadvantages mentioned in this section such as significantly lower flux,
higher reverse salt flux, and complexity of regeneration of draw solution from product water
flux (Arkhangelsky et al., 2012, McCormick et al., 2008). Therefore, numerous researchers are
working on application of FO in SWRO and this is a very achieve research area to date in the
field of desalination. Further, there is a theoretical lag in the FO flux prediction models. Much
research is being conducted to investigate the factors affecting the water flux performance in
FO and developing mathematical models to predict flux performance precisely (McCutcheon
and Elimelech, 2006, K.L et al., 1981, Tan and Ng, 2008, Cath et al., 2013a, Gray et al., 2006,
Zhao and Zou, 2011, Yong et al., 2012) and to characterise the FO membrane in terms of

diffusion, solute resistivity and mass transfer.

Therefore, in this study, FO was applied in SWRO process to aid the reduction of pre-treatment
sludge volume and a novel RO-FO hybrid system was proposed. Next chapter (Chapter 3)
explains the experimental protocol and the materials used. Then the following chapters will

detail the results, discussion and the conclusions made at each stage of the research.
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Chapter 3: Materials and Methods

3.1 Introduction
This chapter describes the materials, experimental set-ups and methods, and analytical methods
used in this sturdy.

3.2 Materials

3.2.1 Membranes

Flat sheet cellulose tri-acetate (CTA) membranes were purchased from Hydration Technology
Innovations (HT1) USA. Support layer of the flat sheet membrane is made up of polyester mesh
and average pore diameter is 0.74 nm (Xie et al., 2012). Scanning Electron Microscopy (SEM)
images of the flat sheet CTA membrane given in Figure 14. As Figure 14(a) shows, the
membrane is on an embedded screen support. Figure 14(b) shows the support layer and the

embedded mesh and the Figure 14(c) is the active layer where water permeation happens.

100 T= 500KV Sigrel A = SE2 Date 18 Jul 2013 —
f WO = 88mm Photo No. = 8176 Time :15:52:22

Figure 14: SEM images of hydrophilic Cellulose Triacetate (CTA) membrane on embedded

polyester screen support (a) cross section (Gao, 2013) (b) Support side (c) active side.

Hollow fibre polyamide (PA) membranes used were fabricated at Samsung Cheil Industries

Inc., Korea and consist of a Sulphonated Polysulphone (SPSf) support layer (Majeed, 2014).
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SEM images of the hollow fibre PA membrane are given in Figure 15. Figure 15(a) shows the
lumens and the Figure 15(b) shows the thickness of the lumens with pores. CTA and PA

membranes used were hydrophilic and hydrophobic, respectively.

Figure 15: SEM images of hydrophobic Polyamide (PA) membranes (Lotfi et al., 2015).
Active layer is inside surface of the hollow fibre and the support layer is outside surface of
the fibres.

3.2.2 Draw solutions

For the initial water flux optimisation experiments, selected salt solutions were used as draw
solution. The used salt solutions were NaCl, MgCl,, CaClz, NaxSOs, MgSO4, and CaSOs as
they were the most commonly used draw solutions in literature considering osmotic pressure
and economic benefits. In addition, these salts are the major elements available in SWRO brine

as shown in the Table 10 .
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Table 10: Major ion compositions of seawater. Selected anions and cations are shown in red
colour.

Typical Eastern Arabian Gulf | Red Sea at

Seawater Mediterranean at Kuwait Jeddah
Chloride (CI") 18,980 21,200 23,000 22,219
Sodium (Na") 10,556 11,800 15,850 14,255
Sulphate (SO04%) 2,649 2,950 3,200 3,078
Magnesium (Mg®") 1,262 1,403 1,765 742
Calcium (Ca?") 400 423 500 225
Potassium (K") 380 463 460 210
Bicarbonate(HCO3") 140 - 142 146
Strontium (Sr?*) 13 - - -
Bromide (Br) 65 155 80 72
Borate (BO3*) 26 72 - -
Fluoride (F) 1 - - -
Silicate (Si03%) 1 - 1,5 -
lodide (1) <1l 2 - -
Others - - - -
Total dissolved solids 34,483 38,600 45,000 41,000
(TDS)

Ref: (https://www.lenntech.com/composition-seawater.htm)

Other than these salt solutions, RO concentrate was used as the draw solution for the FO
experiments. These brine samples were prepared following the process shown in Figure 16.
Seawater collected from Geelong, Australia, was pre- filtered to remove large suspended
particles such as seaweeds. Optimum FeCls coagulant (i.e. 5 mg/L which was obtained at lab
scale and given in the appendix section) added seawater was then passed through a cylindrical
dual media filter (DMF) at a rate of 7.6 m/h where DMF diameter, sand media bed depth and
anthracite media bed depth are 50, 400 and 300 mm, respectively. Further details on DMF can
be found in the appendix section. After 4 h of filtration, filter media bed was backwashed for
2 min using tap water. The pH, total organic carbon (TOC), electrical conductivity (EC) and
turbidity of the seawater and filtered seawater were determined. Furthermore, particle size
distribution of backwashed sludge was analysed using Malvern Mastersizer. Particle size
distribution of backwashed sludge (named as Lab sludge) is given in Figure 17 . Properties of
brine solution are given in Table 12. The seawater used and filtered seawater properties are

also shown in the same Table.
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Sand Filter H —> RO module —>

Backwashed water RO concentrate
(Feed solution - Lab sludge) (Draw solution)

Figure 16: Draw solution preparation procedure followed at lab scale. Seawater passed
through the sand filtration and then subjected to RO to produce the ROC used as draw.

3.2.3 Feed solutions

Industrial Fe(OH)s sludge was received from the Perth Seawater Desalination Plant (PSDP),
Perth, Australia, in addition to the backwash sludge prepared according to previous section
(refer Figure 16). Therefore, there were two types of feed solutions/sludge solutions used in
the study viz. (1) PSDP sludge and (2) lab scale prepared sludge denoted as Lab sludge.
However, for some water flux optimisation experiments MilliQ water was used as feed
solution. Properties of feed sludge used in this study are given in Table 11 and Table 12. Since
the received sludge contained 25% TS content (the solids content before sending to landfill),
filtered seawater (prepared following the process explained in Section 3.2.2) was used to reduce
the solids content to ~4%. This backwash sludge which comes from media filtration contains
around 4% TS. Particle size distribution of Fe(OH)3 sludge (PSDP sludge and Lab sludge) was
analysed using Malvern Mastersizer and given in Figure 17. The used seawater and filtered

seawater properties are shown in the Table 11 and Table 12.
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Figure 17: particle size distribution of PSDP sludge and lab sludge
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Table 11: Major anions and cations concentrations of feed and draw solutions used in this

study. Cations were identified using Atomic Absorption Spectrometry (AAS) and anion

concentrations were recognised through Merk® test Kits.

PSDP sludge | RO concentrate Seawater Lab sludge
(mg/L) (mg/L) (mg/L) (mg/L)
Cations Ca** 454 1,101 457 20
(Filtered) Na* 14,724 19,130 8,773 3713
Mg?* 2,607 2,947 469 i
K* 626 815 414 274
Fe3* 0.4 ND* ND*
0.1
Anions CI 16,500 36,000 22,300 5,700
SO4* 1,800 4,400 2,200 695
NOzas N 2.3 0.4 1.2 0.5

*ND - not detected

Table 12: Properties of feed and draw solution used in this study.

Property Seawater | Filtered Draw | Feed solution | Feed solution
seawater | solution | - PSDP - Lab Sludge
- ROC | Sludge
pH 8.42 7.68 7.77 8.69 -
Turbidity (NTU) 29.1 0.45 - - -
EC (mS/m) 4,450 4,470 7,300 5,150 -
TOC (mg/L) 1.71 0.73 3.10 - 1.944
Alkalinity — mg/L as CaCOs3 110 45 68 102 30
Hardness (EDTA)-mg/L as CaCOs 4,600 6,200 | 9,550 4,500 0
Solids content (% TS) - - - 4.04 1.01
Specific gravity - - - 1.01 1.00

3.3 Experimental Procedure

3.3.1 Characterising the flat sheet FO membrane: Prediction of effective diffusion

coefficient of flat sheet FO membrane (Chapter 4)
Feed (MilliQ water) and draw solutions (K2 SO4, Na2SO4, NaCl, MgCl,, diluted ROC and

diluted seawater) were passed through the membrane at 0.50 ms™ cross flow velocity in co-

current flow configuration. Active layer of the flat sheet FO membrane was facing the feed

solution. Schematic diagram and a picture of the experimental set up are given in Figure 19.

Average temperature of the feed and draw solutions was 12 °C (room temperature) with a

coefficient of variation of 0.1. Change in the weight of the draw solution was programmed to
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be stored in a data logger at one-minute time intervals. Experimental water flux (J,y ) was

determined by:

change in weight in time At

(16)

hwe = density of water X effective membrane area X At

After one hour of filtration, properties of the feed and draw solutions were measured. A new

FO membrane coupon was used for each new salt solution.

3.3.2 Optimising the water flux through flat sheet FO membrane (Chapter 5)

Effect of cross flow velocity

Feed (Fe(OH)s sludge) and draw solutions (NaCl and MgClz) were passed through the
membrane at 0.25, 0.50 and 1.00 ms? cross flow velocities in counter current flow
configuration. Sludge was circulated on the porous side of the membrane and stirred at a
constant rate during the experiment to eliminate settling of particles. Experimental set up used
is given in Figure 18 and Figure 19. Average temperature of the solutions was maintained at
22 °C with a coefficient of variation of 0.1. Change in the weight of the draw solution was
programmed to be stored in a data logger at one minute time intervals. Experimental water flux
(Jw,e) was determined by equation (16) mentioned in Section 3.3.1. After 3 hours of filtration,
properties of the feed and draw solutions were measured. Membrane was cleaned by
backwashing with 0.5M NaCl and DI water in the opposite mode prior to each experiment for
30 min. Theoretical water flux (J,, ) was calculated and compared with that of experimental

value.
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Figure 18: FO experimental setup used. Flat sheet FO module’s membrane area is 33.54 cm?.
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Figure 19: Schematic diagram of the FO set up used in this study. Flat sheet FO module’s
membrane area is 33.54 cm?,
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Effect of pH, temperature and membrane orientation

Feed (sludge prepared in the laboratory by dual media filtration as shown Figure 16 in or actual
sludge received from PSDP) and draw solutions were passed through the membrane at 0.25
ms™ cross flow velocity in counter current flow configuration. Feed was circulated on the
porous side (active layer facing draw solution — ALDS mode) as well as on the active layer
side (active layer facing feed solution — ALFS) of the membrane and stirred at a constant rate
during the experiment to eliminate settling of particles. Feed temperature was varied to 20, 30
and 40°C and feed pH was varied to 6, 7 and 8. A new membrane coupon with an effective
area of 33.54 cm? was used for each experiment. Change in the weight of the draw solution
with filtration time was programmed to be stored in a data logger at 15 min time intervals.
Experimental water flux (Jw,e) was determined by equation (16) in Section 3.3.1. Properties of

the feed and draw solutions were measured at every 15 min for 2 h of filtration.

3.3.3 Optimising the water flux through hollow fibre FO membrane (Chapter 6)

Feed (either MilliQ water or Fe(OH)s sludge) and draw solutions (NaCl, MgCl,, CaCly,
NaSO4, MgSO4, and CaSO4) were passed through the membrane at different feed/draw
Reynolds number (Re) ratios. Re ratios were varied by changing the velocity of the feed and
draw solutions. Sludge/MilliQ water was circulated outside the hollow fibre membrane and the
draw solution through the lumens. Since the inside surface of the hollow fibre is the active
layer, the experiments were run in AL-DS mode. Experimental set up shown in Figure 20 was

used.

Figure 20(a) shows the hollow fiber PA membrane module used. There were 5 numbers of
lumens with 1.2 mm outer diameter in the module giving an overall effective membrane area
of 25.45 cm?. Change in the weight of the draw solution was programmed to be stored in a data
logger at one minute time intervals. Experimental water flux (J,,.) was determined by the
equation (16) mentioned in section 3.3.1. After 1 hour of filtration, properties of the feed and
draw solutions were measured. Membrane was cleaned using MilliQ water by passing 500 mL
of MilliQ water in the both sides for 30 min at 0.5 I/min water prior to each experiment. Water
flux before and after cleaning was obtained using 0.5 M NaCl as draw and MilliQ water as feed

solution. This will ensure how far membrane has cleaned.
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Figure 20: Hollow fibre membrane (a) module (b) experimental set up used in this study.

Effective membrane area is 25.45 cm?.

3.3.4 Fouling behaviour of the flat sheet FO membrane (Chapter 7)

Feed (Fe(OH)s sludge) and draw (RO brine) solutions were passed through the
membrane at 0.04 m/s cross flow velocity (Liu and Mi, 2012, Yoon et al., 2013, Li et al.,
2012a) in counter current flow configuration for 1, 2, 4 and 8 weeks with no cleaning in
between. Sludge was circulated on the support side of the membrane and stirred continually
during the experiment to eliminate settling of particles. Three consecutive experimental runs
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using rigs (similar to Figure 19) conducted with feed pH of ~ 8, at ambient temperature and
0.04 m/s cross flow velocity. All the experiments were run in semi-batch mode as the
experiments are long term runs, following Li et. al (2012) (Li et al., 2012a). That is, when the
draw solution has extracted 30% of water from the feed (300 mL), both draw and feed

solutions will be replaced with fresh 1L solutions.

Change in the weight of the draw solution was programmed to be stored in a data logger
at 5 min time intervals. Experimental water flux (J,, ) was determined by equation (16)
mentioned in section 3.3.1. Water flux, conductivity and pH of each set up were recorded
continuously using a data logger, EC meter and pH meter, respectively.

3.3.5 Mathematical Modelling (Chapter 8)

A novel hybrid RO/FO system was proposed that will improve both water recovery and reduce
the volume of pre-treatment sludge. Three options were proposed and are detailed in Chapter
8. Mass and salt balance calculations were applied to each proposed system in order to evaluate
their feasibility. Mass balance calculations were based on both large scale and small scale

desalination plant conditions.

3.4 Analytical Method

3.4.1 Basic water quality analysis
The pH, total organic carbon (TOC), electrical conductivity (EC) and turbidity of the seawater

and filtered seawater, feed sludge, RO brine and single salt solutions were determined using
Hach ® pH meter, TOC analyser, Hach® EC meter and a Hach® turbidity meter , respectively.
Major cations in the seawater, filtered seawater, feed sludge (lab and industrial scale) and RO
brine were identified using Atomic Absorption Spectroscopy (AAS). The concentrations of the
major anions of the same samples were obtained through Merck® test Kits. Furthermore,
particle size distribution of backwashed sludge was analysed using Malvern® Mastersizer.
Total organic carbon (TOC) in the draw and feed solutions were measured using Organic

Carbon analyser.
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3.4.2 Membrane surface analysis
Membrane surfaces after each filtration experiments were scanned through a Zeiss Supra 55VP

scanning electron microscope (SEM) at an accelerating voltage of 5 kV. In addition, to measure
the amount of foulants on the membrane surface, foulant layer on the surface was extracted
through centrifuging to MilliQ water and TOC concentration in the extracted solution was
measured. Since the centrifuged membrane area is known, TOC was calculated per cm?.

All the FO filtration experiments were run in duplicate, and fouling experiments were run in
triplicate in order to verify the reproducibility of the experimental data. Error bars determined

from these multiple runs have been displayed in the results and analysis sections.

3.4.3 Mass and energy balance calculations
These calculations were done using Microsoft excel software and sample calculation is given
in appendix section. Details of mass balance equations are discussed in Chapter 8.
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Chapter 4: Characterising the FO Membrane: Prediction of Effective Diffusion
Coefficient of FO Membrane

4.1 Introduction

Forward osmosis (FO) is a novel emerging membrane process which can be used to concentrate
a dilute aqueous stream through the use of a concentrated stream obtained from another process
such as reverse osmosis (RO). When those two liquid streams are separated by an FO
membrane, the osmotic pressure difference between two liquids will allow water to diffuse
through the membrane from the diluted stream to the concentrated stream (Cath et al., 2006).
However, the amount of water diffused depends on the orientation of the membrane. When the
active and the support layers of the membrane face the diluted (or feed) stream and the
concentrated (or draw) stream respectively, the mode of the orientation is called AL-FS (active
layer facing feed stream). When it is the other way around, the configuration is called to be in
AL-DS (active layer facing draw stream) mode. In addition to the desired water flux, there is
an undesirable solute diffusion (known as reverse salt flux - RSF) due to the concentration
gradient between feed and draw solution will also occur which would lower the performance
of the membrane process significantly (Touati and Tadeo, 2016).

Diffusion is the dominant solute transport mechanism through a porous membrane layer.
Therefore, to understand the solute transport through a porous FO membrane material, the
diffusion coefficient (D) of solutes were experimentally determined. However, when the
solutes transport through a tortuous path, effective diffusion coefficient, Dz, is always less

than the theoretical D, which is given by Fick’s Law. The value of D, s depends on the tortuous

path it travels and therefore depends on the porosity (¢) and tortuosity (t) as well as the

thickness of the membrane (t).

tT
Deff = E_K €Y

Where, parameter K defines the solute resistivity for diffusion within the porous support layer
of the membrane. The value of K is a measure of how easily a solute can diffuse through the
support layer and thus is a measure of the severity of ICP (McCutcheon et al., 2006b,
McCutcheon and Elimelech, 2006). The more severe the ICP, the lower the water flux through
FO membrane. Therefore, it is important to study how K varies with different solutes.
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The literature has well explained theories to predict the effective diffusion coefficient, D, in
the presence of a single salt (Tan and Ng, 2008, Loeb et al., 1997, Cath et al., 2006). When
multiple salts are present, the effective diffusivity is completely different due to mutual
diffusion, ionic size, charge of the solute and properties of the porous media (Miller et al., 2007,
Mathew et al., 1989, Holloway et al., 2015). Therefore, this study is carried out to evaluate the
value of D,/ in the presence of multiple solutes. The D,sr will be calculated for different
selected salt mixtures, with the help of experimental and theoretical data. A semi-empirical

relationship of D, with water flux will be obtained. The solute resistivity, K, and the

structural constant, KD, s, for each selected salt will be described.

4.2 Model Development

The literature has well documented procedures on how to model the flux through the FO
membrane (Lee et al., 1981, Tan and Ng, 2008, Tang et al., 2010). Mathematical models
proposed by various researchers consider the solute flux through the membrane in order to
compute the effective osmotic pressure which is the driving factor in the FO process
(McCutcheon and Elimelech, 2006). Models for predicting the water flux across an asymmetric
FO membrane have been developed to take into account both external and internal
concentration polarization (CP) effects. The following models were obtained based on the
literature (Cath et al., 2006, McCutcheon and Elimelech, 2006, McCutcheon et al., 2006b, Tan
and Ng, 2008, Gray et al., 2006, Loeb et al., 1997).

For AL-FS mode:

The water flux, Jw is given by,

Jw = AG(”F,i - 7TF,m) (2)

Where, A is the permeability coefficient, o is the reflection coefficient, mr; and nr,, are
osmotic pressures at the membrane interface and the membrane surface that is facing the feed

stream, respectively.
Jw
Tpm = TppeXp(— k_) 3)
f
Where, mr, is the osmotic pressure of the bulk feed stream and kr is the mass transfer

coefficient of solute from the bulk feed stream to the surface of the membrane. Similarly, my ;

can be related to the osmotic pressure of the bulk draw solution, mj, ;, as below:

g = Tp pexp(—/wKp) 4)
Where, Kp is the solute resistivity. Thus, equation (2) can be rearranged to:
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Ju = A0 mopexp(~JuwK>) = rpexp(=35)] 5)
Similarly, for AL-DS mode, Jw can be given by:
Jw
Jo = 40 [ pexp (—2) = mppexp (= Ki) ®
Where, k, is the mass transfer coefficient of solute from the membrane to the bulk draw stream.

Kp and K are solute resistivity values for AL-DS and AL-FS modes, respectively, and can be
obtained from the following equations:

_ i B+Amp p

KD B (]w) n lB+JW+A7TF,mJ (7)
_ i B+ATp p—Jw

Kr = (]W) In lB+]W+A7tF‘mJ (8)

Where, B is the salt permeability coefficient. When de-ionized water and brine solutions are
used as feed and draw solutions, respectively, equations (5) and (6) can be simplified to the
following forms:

AL-FS mode: Jw = Amp , exp(-JwKp) 9)

AL-DS mode: Jw = Amp pexp(-Jw/Kd) (10)

While equation (10) will allow computing the mass transfer coefficient kg using the
experimental flux, equation (9) will help to compute the solute resistivity, Kp. By using the kg,
the effective diffusion coefficient, D, of solutes present in the brine solution can be estimated.
Similarly, computing K, D.s¢ will help to find the structural constant of the FO membrane
using the equation (1). In this approach, values of solute rejection, R, and the salt permeability

coefficient, B, are not required to compute K, and D¢ .

4.4 Forward Osmosis Experiments

Flat sheet CTA membranes with a woven, embedded support backing and average pore
diameter of 0.74 nm (Xie et al., 2012) were purchased from Hydration Technologies Inc (HTI),
USA. Prior to the membrane separation, pH, temperature and electrical conductivity (EC) of
feed (de-ionized water) and draw solutions (K2 SO4, Na2SO4, NaCl, MgClz, Kz SO4 + MgCl:
+ Na2S04, K2SO4 + MgClz, K2SO4 + Na2SO4, MgCl2 + Na2SOs, diluted brine solutions and
diluted seawater solutions) were measured. All the single, dual and triple salt solutions’ final
concentrations were fixed to be 30 g/L which is in the range of seawater salinity. Mixed
concentrations, according to the equivalent molar ratio of each salt, are given in Table 13.
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Further, brine and seawater solutions were diluted to 0, 25, 50, 75 and 100% using de-ionized

water in order to have a range of salt concentrations.

Table 13: Salt solution mixing ratios

Salt solution Final concentration Mixing ratio (g/L)
(9/L)

K2 SO4 30 30
MgCl: 30 30
Naz2SO4 30 30
K2 SO4+ MgCl2 + Na2SO4 30 7.4+135+9.1
K2 SO4+ MgCl2 30 106 +19.4
K2 SO4 + Na2SOq4 30 13.5+16.5
MgCl2 + NazSO4 30 18.0 + 12.0
NaCl 30 30

Feed and draw solutions were passed through the membrane at ambient temperature (20 °C) at
a rate of 0.50 m/s cross flow velocity in counter current flow configuration. Change in the
weight of the draw solution was programmed to be stored in a data logger at one minute time
intervals. Experimental water flux (J,, .) was calculated. During 1 hour of membrane filtration,
properties of the feed and draw solutions (pH, EC and temperature) were measured at every 10
min. Experiments were run in both AL-DS and AL-FS modes to aid structural parameter
calculations. A new membrane coupon was used for each salt solution. Density, viscosity and
osmotic pressure of each salt solution and salt mixture were obtained using the OLI® stream
analyzer and reported in Table 14. With the help of experimental and theoretical data, effective

diffusion coefficients of draw solutions were calculated.
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Table 14: Properties of draw solutions prior to membrane filtration

Draw solution Conductivity, | Density, p Viscosity,u | Osmotic pressure
EC (mS/cm) | (kg/m?) (Pa's) Pp,p (bar)
1. Seawater
100% dilution 28.55 1024.2656 0.001027 14.27
75% dilution 32.40 1024.2656 0.001027 16.19
50% dilution 37.13 1023.6881 0.000981 18.54
25% dilution 42.60 1023.6881 0.000981 21.32
0% dilution 52.95 1023.6881 0.000981 26.10
2. RO concentrate
100% dilution 36.90 1024.2656 0.001027 17.96
75% dilution 43.45 1023.9808 0.001004 20.18
50% dilution 45.75 1023.9808 0.001004 23.27
25% dilution 55.43 1024.2656 0.001027 26.53
0% dilution 67.33 1023.9808 0.001004 33.03
3. Salt solution
K2 SO4 30.40 1023.19 0.001266 8.53
MgCl» 45.70 1025.13 0.001390 22.11
Na2SO4 29.50 1026.53 0.001335 10.25
K2 SO4+ MgCl2 + Na2SO4 34.90 1024.29 0.001343 14.17
K2 SO4+ MgCl; 41.60 1019.43 0.001317 12.10
K2 SO4 + Na2SOq 28.80 1026.05 0.001307 8.85
MgCl, + NazSO4 38.60 1025.26 0.001370 16.78
NaCl 45.70 1021.04 0.001278 22.38

4.5 Results and Discussion

4.5.1 FO Experiments Results

Concentraton polarisation (CP) effects on the draw solution sides are dilutive external
concentration polarization (DECP) (in AL-DS mode) and combined DECP and dilutive

internal concentration polarization (DICP) (in ALFS mode). Since de-ionized water was used

as feed, concentrative external concentration polarization (CECP) and concentrative internal

concentration polarization (CICP) effects on the feed solution sides were minimized (or

negligible) in these experiments.

Experimental water flux at each mode was calculated and is shown in Figure 21. Higher water

flux was observed under AL-DS mode compared to AL-FS mode, as expected (Zhao et al.,
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2011), for all 3 types of draw solutions. Zhao et al (Zhao et al., 2011) reports that membrane
orientation is basically influenced by the feed solution composition and the concentration
degree (i.e., concentration factor or water recovery). Further, AL-DS mode is preferable when
using the solutions with low salinity feed. Since the feed solution is DI water in this study, AL-
DS mode showed better performance with regards to the water flux.

(a) AL-FS mode
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Figure 21: Water flux obtained at (a) AL-FS and (b) AL-DS configurations.
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Further, in AL-FS mode, ICP is severe as all the draw solutes are passing through porous side
of the membrane. This gives a lower water flux in AL-FS mode compared to AL-DS. The rate
of increase in water flux when brine and seawater concentration increase, is lower in AL-FS
mode. This is evidenced as the gradient of increase in water flux with draw solution
concentration at AL-FS and AL-DS modes are 0.58 and 1.86, respectively for RO brine and
0.41 and 1.35 for Seawater, respectively. Overall, AL-FS mode gradient is one third of the
gradient as AL-DS mode. Even though a correlation cannot be obtained for single, dual and
triple salt solutions, similar to the previous two types of draw solutions, AL-DS mode flux is
higher compared to AL-FS mode. Higher number salts in the draw solution gives higher flux

compared to single salt draw solutions.
4.5.2 Prediction of Effective Diffusion Coefficient

The pure K2S04 (30 g/L) data were chosen from Tables 13 and 14 and step by step specimen
calculations are given in the appendix section. Similarly, effective diffusion coefficient for each
salt solution was calculated. The calculated effective diffusion coefficient, solute resistivity,

mass transfer coefficient, Reynolds number, and structural coefficients are given in Table 15.

Calculated D, ¢ values were plotted for each salt solution and given in Figure 22. The D, ¢ for
single, dual and triple salt solutions is significantly lower compared to those for seawater and
brine solutions. Higher number of salts in the mixture and higher concentration leads to a higher
D¢ value. The 0%, 25%, 50% diluted brine showed up to 4.5 x 10 cm?/s and 0%, 25%
diluted seawater showed up to 3x10° cm?/s D.ss values. When the concentration of salt

mixtures is low, the D¢ is lower.
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Table 15: Calculated effective diffusion coefficients and structural constants for each salt

solution.

Draw solution Solute Mass transfer Reynolds Effective Structural

resistivity, coefficient, number, diffusion coefficient,

coefficient,
Kp (s/m) kg (M/s) Re Dert (cm?/s) KpDett (M)

1. Seawater
100% (dilution) 7.13E+05 2.40E-06 1558.4 8.15E-07 5.81E-05
75% (dilution) 7.63E+05 2.69E-06 1558.4 9.69E-07 7.39E-05
50% (dilution) 7.06E+05 5.73E-06 1630.5 3.00E-06 2.11E-04
25% (dilution) 6.83E+05 4.81E-06 1630.5 2.31E-06 1.57E-04
0% (dilution) 7.03E+05 5.38E-06 1630.5 2.72E-06 1.92E-04
2. RO concentrate
100% (dilution) 5.68E+05 3.05E-06 1558.4 1.17E-06 6.63E-05
75% (dilution) 5.84E+05 3.30E-06 1593.6 1.31E-06 7.67E-05
50% (dilution) 5.02E+05 4.60E-06 1593.6 2.16E-06 1.08E-04
25% (dilution) 5.56E+05 7.14E-06 1558.4 4.16E-06 2.31E-04
0% (dilution) 5.04E+05 7.37E-06 1593.6 4.36E-06 2.20E-04
3. Salt solution
K2 SO4 1.87E+06 1.31E-06 324.8 4.30E-07 8.03E-05
MgCl, 1.20E+06 1.73E-06 296.3 6.54E-07 7.83E-05
Na2SO4 1.88E+06 1.79E-06 309.1 6.84E-07 1.29E-04
K2 SO+ MgCl; + Na;SO4 1.25E+06 1.59E-06 306.6 5.73E-07 7.15E-05
K2 SO4 + MgCl; 1.05E+06 2.97E-06 311.2 1.46E-06 1.53E-04
K2 SO4 + NazS04 2.82E+06 1.22E-06 315.6 3.86E-07 1.09E-04
MgCl; + Na;SO4 1.16E+06 1.91E-06 300.8 7.54E-07 8.74E-05
NaCl 1.33E+06 2.04E-06 321.0 8.32E-07 1.10E-04
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Figure 22: Effect of salt on Deff with corresponding solute resistivities.

Irrespective of salt combinations, a relationship of D, s with water flux was developed. Change

in water flux is plotted against the effective diffusion coefficient in AL-FS and AL-DS modes
(Figure 23). At higher effective diffusion coefficient values, a higher water flux was observed

in both modes. The correlation of water flux and D, ¢ is given by the two trend lines displayed

in Figure 23.

Figure 23(a) shows the AL-FS mode results. The logarithmic semi-empirical relationship of
water flux (J,,) and effective diffusion coefficient (D), displayed using dotted line, has the

coefficient of determination, R?, value of 0.7753 and is given below.

Jw = 1.9951n (Dsr) + 31.72 (11)
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As the semi-empirical relationship predicts, at lower D.r values lower fluxes could be
observed. However, when D, is higher, the rate of increase in water flux is low. This could

be due to higher reverse salt flux as D, is higher.

Figure 23(b) shows the AL-DS mode results and its semi-empirical relationship is given in
equation (12). AL-DS mode shows a better fit in logarithmic mode compared to AL-FS mode
with a R? value of 0.8843. However, similar to ALFS mode, as D,f; gets higher, increase in

rate of water flux becomes lower.

Jw = 3.784In (Dsr) + 58.67 (12)
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Figure 23: Correlation of (a) AL-FS mode and (b) AL-DS mode water flux and effective

diffusion coefficient. A - salt solution m - RO brine and e- seawater.

Semi-empirically obtained solute resistivity values were plotted and given in Figure 24. SO4*
solutions (either single or dual) show higher solute resistivity than CI- solutions. This higher
resistivity would have reduced the ICP effect and therefore higher water flux can be obtained.
However, in this study as final weight concentrations were kept constant, due to the variation
in osmotic pressure of draw solutions this phenomenon cannot be seen in the results. A separate

study with similar osmotic pressure draw solutions will help to understand this clearly.
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Figure 24: Solute resistivity of seawater, RO concentrate and salt solutions.

However, blending SO4> with CI- reduced the solute resistivity. lonic size of SO4? and CI- are
0.149 and 0.181 nm, respectively. Since lower ionic sizes provide higher water and salt flux
(Touati and Tadeo, 2016) SO4% should have shown better performance than Cl-. As shown in

Figure 21, water flux increases when higher CI- ions are blended with smaller SO4%ions.

The structural coefficient of the FO membrane K, D¢ (= tr/€) can vary with the concentration
of the solutes as 7 and ¢ can be altered according to those concentrations. The porosity and the
tortuosity can be varied with filtration time depending on the sizes of the solute ions. Therefore,
we cannot expect the structural coefficient to be constant for any salt solution. As Figure 25
shows, the higher number of salts as well as higher concentrations (0% and 25% diluted brine)
showed the highest K, D, ¢ values (> 2x10™* m) compared to other salt solutions. Further, 0%
diluted seawater also has a higher K, D, ¢ value, i.e., 1.92 X 10 m. the single, dual and triple

salt solutions show comparatively lower structural coefficients.
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Figure 25: Structural coefficient of different salt solutions

4.6 Conclusions

FO membrane was characterised in this part of study. A semi empirical relationship to predict
the effective diffusion coefficient of FO membrane was proposed. Following conclusions were

made through this part of study.

1. Regardless of salt combination, a relationship of D¢ versus water flux was obtained at
AL-FS and AL-DS modes.

2. Higher solute concentrations and higher number of solutes in draw solution showed
higher effective diffusion coefficient values.

3. Solute resistivity of SO4> ions lowered when it is blended with lower molecular size
Cl ions.

4. The semi-empirical results showed that the structural coefficient, KpD.¢, Varies

depending on the type of the salt as well as its concentration.
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Chapter 5: Optimising the Water Flux through Flat Sheet FO Membrane

5.1 Effect of Cross Flow Velocity
Corresponding publication: Liyanaarachchi, S., V. Jegatheesan, L. Shu, S. Muthukumaran and
K. Baskaran (2014). A preliminary study on the volume reduction of pre-treatment sludge in
seawater desalination by forward osmosis, Desalination and Water Treatment 52(4-6): 556-
563 (Liyanaarachchi et al., 2014b).

5.1.1 Introduction

Pre-treatment is one of the most important processes in a seawater desalination process.
Seawater is pre-treated to remove suspended particles, organic matter and microorganisms.
However, more research and development is needed in this area as current desalination
facilities experience various practical issues. Generation of high volume of sludge is the major
practical issue associated with the available pre-treatment methods. Sludge undergoes
centrifugal process during which high amount of energy is consumed to reduce its volume
before being discharged. Furthermore, disposal and transportation of sludge accounts for more
than 90% of the total operation and maintenance cost. Therefore, reduced sludge volume
undoubtedly reduces the associated expense of pre-treatment and hence the total operational

cost.

The osmotically driven membrane process, Forward Osmosis (FO) or pressure retarded
Osmosis (PRO), is believed to be a promising emerging technology to reduce the volume of
pre-treatment sludge. Fertiliser drawn FO desalination (FDFO) has been successfully applied
at lab scale to dilute fertilisers while concentrating saline ground water (Phuntsho et al., 2012).
FO membranes have been used to dilute seawater using secondary wastewater effluent as draw
solution, in order to reduce the energy cost associated with desalination (Yangali-Quintanilla
et al., 2011). A few studies have been carried out to treat landfill leachate, food industry
effluent, and to increase the water recovery of RO (Petrotos et al., 1999, Achilli et al., 20009,
Martinetti et al., 2009). FO has been given significant attention over the past few years due its
superior characteristics such as high feed water recoveries (~ up to 85%), operates at low or no
hydraulic pressure with a lower electrical consumption (~0.25 kWh/m?* of product water) and
lower membrane fouling tendency compared to other membrane treatments (McGinnis and
Elimelech, 2007, Lee et al., 2010b, McCutcheon et al., 2005). However, this technology is still

in the development stage either in bench scale or pilot plant scale (Elimelech, 2007, Cath et al.,
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2006). In the literature, there were no reports which evaluated the capability of FO to reduce

the volume of pre-treatment sludge of seawater reverse osmosis (SWRO) process.

Therefore, the effect of concentration of draw solution in the reduction of volume of the
Fe(OH)s sludge generated in the pre-treatment for the SWRO process, and the effect of cross
flow velocity on water flux were investigated in this study. Furthermore, experimental and

theoretical water fluxes were compared using available literature.

5.1.2 Materials and Methods

Flat sheet CTA membranes detailed in Section 3.1 were used. Feed solutions were Fe(OH)s
sludge (~ 25% TS) from the Perth Seawater Desalination Plant (PSDP), Australia. NaCl and
MgCl were selected as draw solutions and their properties are summarized in the Figure 26.
Seawater (Table 14) was used to dilute the Fe(OH)s feed from ~ 25% TS to ~ 4% TS. Feed
and draw solutions were passed through the membrane at 0.25, 0.50 and 1.00 ms™ cross flow
velocities in counter current flow configuration as it provides constant osmotic pressure
difference (Am) along the membrane cell. Sludge was circulated on the porous side of the
membrane and stirred at a constant rate during the experiment to eliminate settling of particles.

FO experimental set up detailed in Section 3.2 (Figure 19) was used.
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Figure 26: (a) Variation of conductivity (experimental data) and osmotic pressure (OLI

Stream Analyser software data) and (b) viscosity (OLI Stream Analyser software data) of

selected draw solutions with corresponding molar concentrations
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5.1.3 Theoretical Water Flux Calculation

The driving force for the water permeation is osmotic pressure difference of two solutions;
hence theoretical water flux through membrane can be calculated using equation (2) where,
A, mp p, and mg , are water permeability coefficient, bulk osmotic pressure of draw solution

and bulk osmotic pressure of feed solution, respectively, as explained in Section 2.2.1.

Jwit = A[T[D,b - T[F,b] (2)

However, in an osmotic process, on the feed side the polarised layer is more concentrated than
bulk solution (with feed solutes). On the other side the polarised layer is less dense than the
bulk draw solution (with draw solutes). This polarisation effect governs the overall water flux
through membrane. Therefore, in the presence of concentration polarisation (CP), equation (2)
can be modified as follows, where k,, and K are mass transfer coefficient in the draw solution

side and solute resistivity for diffusion within the porous support layer, respectively.

s = [ 50 (ZL2) = s exp(c) %
This equation has proved in Section 2.2.1. First term in equation (7) accounts for the dilutive
external concentration polarisation (ECP) on the active layer of the membrane and the second
term accounts for the concentrative internal concentration polarisation (ICP) within the porous
support layer. As noted earlier, when the feed solution is in contact with the support layer of
the membrane, the mode of filtration is called active layer facing draw solution mode (AL-DS)
mode and when it is in contact with the active layer of the membrane, the mode of filtration is
called active layer facing feed solution mode (AL-FS) mode. Thus, equation (7) is applicable

for AL-DS mode.

5.1.4. Results and Discussion

Effect of cross flow velocity on flux behaviour

Change in the water flux with elapsed time is given in Figure 27. There was a significant flux
decline during 3 hours of filtration despite the change in cross flow velocity or draw solution
concentration. When cross flow velocity of feed and draw solutions were maintained at 0.25
ms, water flux with 1.0, 1.5 and 2.0 M NaCl draw solutions decreased after 3 hours by 18, 28
and 15%, respectively. At 0.5 ms™ of cross flow velocity, water flux fluctuated significantly

with time for both the draw solutions.
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Figure 27: Change in water flux with filtration time at different concentrations of draw

solution and different cross flow velocities

Average fluxes were calculated at corresponding cross flow velocity and draw solution
concentration as shown in Figure 28. When the cross flow velocity increased from 0.25 ms™
to 0.5 ms™, there was no significant change in the flux. However, there was a marginal increase

in the water flux, when the cross flow velocity was increased to 1 ms™. Increase in the cross
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flow velocity could reduce the dilutive ECP of the membrane due to increase in turbulence
along the membrane active layer surface. However, the effect of cross flow velocity on the
dilutive external CP is not significant due to inherent lower water flux in FO membrane (Cath
et al., 2006). The marginal increase in water flux could be due to this phenomenon. This was
observed at each concentration of draw solution. At the lowest concentrations of the draw
solutions (0.5M MgCl, and 1M NacCl) the flux increased only by 4% and 2%, respectively,
when cross flow velocity increased from 0.25 to 1 ms™. However, water flux increased from
5.13 LMH to 6.80 LMH (i.e. 33% increase) with the increase in cross flow velocity from 0.25

ms™ to 1 ms™? at highest concentration of the draw solution (2M NaCl).
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Figure 28: Average water flux as a function of cross flow velocity at different concentrations

of draw solution.

A higher concentration of draw solution could draw a higher flux. However, the effect of
dilutive ECP along the dense side of the membrane will become higher when the flux is higher
which in turn will reduce the flux. A lower than expected flux at higher concentration of draw
solution is explained by this phenomenon. Thus, it is evident that effect of cross flow velocity
is not significant to change the water flux from the feed that contained Fe(OH)s sludge. Altering
ECP by changing cross flow velocity may affect the solute flux through the FO membrane
(Hancock and Cath, 2009). However, solute flux was not examined in this preliminary study.

Effect of internal concentration polarisation on water flux
The higher the concentration of draw solution, the higher the flux obtained. Due to the higher
osmotic pressure of MgCl solution than NaCl solution at the same molar concentration, higher

flux was expected from former draw solution. However, there was no significant increase in
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the flux. Higher draw solution concentrations generate higher osmotic driving forces and hence
produce more water flux. However, higher water fluxes increase the severity of concentrative
ICP as interface of porous support layer and dense layer of the membrane gets more
concentrated (McCutcheon et al., 2006b). Therefore, significant increase in flux could not be
obtained with increasing osmotic pressure. In order to evaluate the flux behaviour in the
presence of concentrative ICP, water flux was plotted as a function of normalised driving force,
as shown in Figure 29. The logarithmic water flux trend in the plot implies that higher
normalized driving forces caused by higher draw solution concentrations reduce the increment
in water flux. This could be due to increase in severity of concentrative ICP with increase in
water flux. Furthermore, viscosity of the draw solution and diffusivity of the solutes controls
the water flux through membrane (Hancock and Cath, 2009). The viscosity of the MgCl»
solution is higher than NaCl solution at a specific molar concentration (Figure 26b), and the
diffusivity of MgClz (1.05 x 10°° m?/s) is lower than NaCl (1.48 x 10" m?/s). This could result
in a CP effect that would reduce the permeate water flux through the membrane (Hancock and
Cath, 2009, Achilli et al., 2010, Cath et al., 2013b). In a study on FO mode conducted by
Hankok and Cath (2009), the lower diffusion coefficient of magnesium compared to sodium
(as draw solution) increased the severity of ICP and the higher viscosity of MgCl. (at the same
osmotic pressure) increased the severity of ECP. As reported elsewhere, one of the major
negative impacts for further development of osmotically driven membrane process is the ICP
(Cath et al., 2013b).
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Figure 29: Permeate flux as a function of normalised driving force, @ , Where
F.b

mp p and mp ;, are bulk osmotic pressure of the draw and the feed solution, respectively.
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Comparison of experimental flux data with theoretical values

Theoretical flux was calculated using equation (2) (Table 16) Performance ratio declines with
increase in draw solution concentration despite the change in cross flow velocity. Equation (2)
over predicts the flux as it does not consider the concentration polarisation effect and hence
lower performance ratio. However, when equation (7) is used to compute the flux we were
unable to find a solution. Our laboratory experiments produced the value for water permeability
coefficient (4) as 2.3015 x 107 m /s atm which did not allow the flux value to converge while
solving equation (7). When lower values were used for A, equation (7) converged to obtain a
value for the flux. This needs further investigation. The values used to solve equation (7) are

shown in Table 17.
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Table 16: Osmotic pressure, theoretical and experimental flux and performance ratio of each draw solution

Concentration of draw Cross Bulk wof | Bulk &t difference Normalised Flux, Flux, Ju ¢ Performance ratio
solution (M) flow draw (Ttpp — Tfp) driving force Jwe (equation (2))
velocity, solution (atm) (Ttpp — Trp) | (expt) (LMH)
V (m/s) (atm) TTrp (LMH)

NaCl 1.0 0.25 46.39 20.5 0.79 2.13 17.00 0.13
15 0.25 72.03 46.2 1.78 3.92 38.24 0.10

2.0 0.25 99.64 73.8 2.85 5.13 61.11 0.08

1.0 0.50 46.39 20.5 0.79 1.95 17.00 0.11

15 0.50 72.03 46.2 1.78 3.65 38.24 0.10

2.0 0.50 99.64 73.8 2.85 4.88 61.11 0.08

1.0 1.00 46.39 20.5 0.79 2.17 17.00 0.13

15 1.00 72.03 46.2 1.78 4.99 38.24 0.13

2.0 1.00 99.64 73.8 2.85 6.80 61.11 0.11

MgCl> 0.5 0.25 35.72 9.9 0.38 1.02 8.16 0.13
1.0 0.25 79.93 54.1 2.09 4.26 44.78 0.10

1.5 0.25 131.55 105.7 4.08 6.03 87.54 0.07

0.5 0.50 35.72 9.9 0.38 0.66 8.16 0.08

1.0 0.50 79.93 54.1 2.09 3.99 44.78 0.09

15 0.50 131.55 105.7 4.08 6.22 87.54 0.07

0.5 1.00 35.72 9.9 0.38 1.06 8.16 0.13

1.0 1.00 79.93 54.1 2.09 4.27 44.78 0.10

15 1.00 131.55 105.7 4.08 5.89 87.54 0.07

mpp and g, are bulk osmotic pressures of draw and feed solutions, respectively. Normalised driving force = (

the ratio between experimental flux and theoritical flux. Feed solution (sludge) bulk osmotic pressure (¢ ;) is assumed to be 25.9 atm.
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Table 17: Coefficients used to solve equation (7)

Draw solution concentration (M)

0.5 1.0 15 2.0
kp- Mass transfer coefficient in the MgCl draw solution side (x10®° ms™)
At 0.25 ms? 1.1918 1.1918 1.1918
At 0.50 ms? 1.4981 1.4981 1.4981
At 1.00 ms? 49497  4.6700" 4.3840"

k- Mass transfer coefficient in the NaCl draw solution side (x10° ms™)

At 0.25 ms! 1.5818 1.5818 1.5818
At 0.50 ms™! 1.9883 1.9883 1.9883
At 1.00 ms* 7.1516" 7.0762" 6.9920"

A- Water permeability coefficient at 22 °C (x 107" m/s.atm)
K- Solute resistivity for diffusion within porous layer (MgClz) (x 10°s/m)

K- Solute resistivity for diffusion within porous layer (sludge) (x 10°s/m)

2.3015
2.8381
2.0135

Note that all the experiments were run in PRO mode.

*turbulent flow.

5.1.5 Summary of this part of study

This section of the study investigated the effect of the concentration of two draw solutions

(MgCl2 and NaCl) in the reduction of Fe(OH)s sludge volume and the effect of cross flow
velocity on flux through FO membrane. The higher the concentration of NaCl and MgCly, the

higher the water flux observed. However, the percentage increase was not significant due to

the occurrence of internal concentration polarisation (ICP). MgCl. draws marginally increased

water flux than NaCl, when the conditions of feed and draw solutions were similar. Increase in

cross flow velocity (from 0.25 to 1.0 ms™) marginally changed the flux with both draw

solutions as higher cross flow velocities were unproductive to beat the external concentration

polarisation (ECP) effect along the membrane surface. However, at 1 ms™, highest fluxes were

obtained for both draw solutions.
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Therefore, following conclusions were drawn after this preliminary study.

1.

Increase in cross flow velocity (from 0.25 to 1.0 m/s) could not significantly reduce the
presence of ECP, hence marginal increase in flux observed with increase in cross flow
velocity.

Higher the concentration of draw solution higher the water flux obtained from the FO
process.

Although MgCl> has a higher osmotic pressure than NaCl at the same molar
concentration, there were no significant differences in water fluxes when MgCl. and
NaCl were used as draw solutions. Higher viscosity of MgCl. (draw) solution and
lower diffusivity of MgCl, (draw) solute control the water flux through membrane as

both increase the severity of internal as well as external CP.
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5.2 Effect of Temperature and Membrane Orientation

Corresponding publication: Liyanaarachchi, S, V. Jegatheesan, I. Obagbemi, S. Muthukumaran
and L. Shu. Effect of feed temperature and membrane orientation on pre-treatment sludge
volume reduction through forward osmosis. Desalination and Water Treatment,2015. 54(4-5):
p. 838-844. (Liyanaarachchi et al., 2015).

5.2.1 Introduction

Seawater desalination process has significantly moved towards membrane technology during
last decade. Seawater reverse osmosis (SWRO) in general is the most common process due to
higher water recovery (~ up to 80 %) and lower energy consumption (~ 3- 4 kW h/m?3 of product
water) compared to other desalination processes (Nooijen and Wouters, 1992, Ebrahim and
Abdel-Jawad, 1994, Abou Rayan and Khaled, 2003, Misdan et al., 2012, Semiat, 2008).
However, the greatest challenge in SWRO is to achieve higher water recoveries while
minimizing operational costs associated with waste (i.e. pre-treatment sludge and brine)

management.

Therefore, as stated earlier, this study focuses on brine management while reducing the
volume of pre-treatment sludge from the SWRO process using forward osmosis (FO)
technology. Figure 30 shows a typical existing SWRO system with main waste streams
mentioned above. At present generated pre-treatment sludge (Q1) undergoes centrifugation
following a settling tank and brine (Q2 and Qz3) discharged to sea or are get blended in the sewer
lines thus diluting it before discharging to sea (Sadhwani et al., 2005, Greenlee et al., 2009).

systeppA— —
y F Desalting Desalting —|
(RO 1st pass) (RO 2nd pass) |

> Q;l_, Treated

| | water

A 4
Y

Q1‘§' Qzév szé

Pre-treatment Brine Brine
sludge

Figure 30: Schematic diagram of a typical existing SWRO system. Dotted lines show the

waste streams during desalination process.

74



Previous Section (Section 5.1) showed that FO can be applied to dewater pre-treatment
sludge (Liyanaarachchi et al., 2014b). However, regeneration of draw solution was an issue
(NaCl and MgCl»). Therefore in this section of the study brine was proposed as the draw
solution since it has following advantages: (1) Diluted brine can be sent back to desalting
process to increase the overall water recovery or (2) if brine is discharged back to sea, dilution
is an added advantage as many brine disposal regulations are based on concentrations but not
on volume (Ahmed et al., 2001). However, depending on the pre-treatment sludge generation
method (backwashing of media filters are done using filtered seawater or RO reject),
dewatering volume of sludge may vary as water permeation through FO depends on the

concentration gradient of draw and feed solutions.

Therefore, two types of sludge at different concentrations were used as feed solutions
in this study. Optimum feed temperature and effect of membrane orientation in the reduction

of pre-treatment sludge volume using the proposed system was investigated.

5.2.2 Materials and Methods

The two types of pre-treatment sludge used as feed solutions were Laboratory prepared sludge
(preparation process explained in Chapter 3) and actual industrial sludge obtained from Perth
seawater desalination plant (PSDP sludge). RO brine which was prepared as explained in the

Chapter 3 was used as draw solution.

FO experiments

FO experiments were run with flat sheet cellulose triacetate (CTA) membranes. Feed (Lab
sludge or PSDP sludge) and draw solutions were passed through the membrane at 0.25 ms™
cross flow velocities in counter current flow configuration. Feed was circulated on the porous
side (AL-DS mode) as well as on the active layer side (AL-FS mode) of the membrane and
stirred at a constant rate during the experiment to eliminate settling of particles. Feed
temperature was varied from 20, 30 and to 40 °C and a new membrane sheet with an effective
area of 33.54 cm? was used for each experiment. Change in the weight of the draw solution
with filtration time was programmed to be stored in a data logger at 15 min time intervals.
Experimental water flux (J,, .) was determined by using equation (16). Properties of the feed

and draw solutions were measured at every 15 minutes for 2 hours of filtration.
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5.2.3 Results and Discussion

Properties of initial seawater, pre-treated seawater, DMF backwash water (Lab sludge), RO
permeate, and RO concentrate are given in Figure 31. Backwashed water (Lab sludge) contains
1% of total solids with a marginally higher TOC compared to initial seawater (from 1.71 to
1.94 mg/L). However, filtered seawater contains significantly lower amount of TOC (0.73
mg/L) with 98% turbidity reduction (from 29.1 to 0.45 NTU). Since DMF removes dissolved
organics and suspended solids, the EC of initial and filtered seawater was practically
unchanged, i.e., 44.5 and 44.7 mS/cm, respectively. However, after passing through the spiral
wound RO system, conductivity of RO reject (concentrate) increased to 73.0 mS/cm. The TOC

of the concentrate became four times higher than that of the filtered water.

Particle size distributions of Lab sludge and PSDP sludge are shown in Chapter 3. Distribution
of PSDP sludge particles is wider compared to Lab sludge. Majority of PSDP sludge contains
24.8 - 33.6 um particles whereas Lab sludge contains 34.7 -39.8 um particles. Temperature of
Lab sludge and PSDP sludge were changed from 20, 30 to 40 °C. Change in water flux with
elapsed time is given in Figure 32. There was a significant flux decline during 2 hours of
filtration despite the change in temperature or orientation of membrane. Average water fluxes
were calculated at corresponding temperatures and given in Figure 33. Results for each mode

will be discussed in the following sections separately.
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Figure 31: Properties of initial seawater, pre-treated seawater and pre-treatment sludge prepared at lab scale. TOC and EC denote for Total

Organic Carbon and Electrical Conductivity, respectively. All the samples were prepared as batches.
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Water flux in AL-DS mode

Water flux for PSDP and Lab sludge were approximately similar at 20 °C. However, there was
a significant increase in water flux with increased temperature for Lab sludge. When
temperature of feed solution was increased from 20 to 40 °C, water flux was 3 times greater at
higher temperature (Figure 32). Decreased viscosity at elevated temperatures would have
enhanced the water flux through the membrane. However, on the contrary, there was no
significant change in water flux at increased feed temperatures for PSDP sludge. Even though
both Lab sludge and PSDP sludge contain Fe(OH)s, PSDP sludge contains more constituents
such as coagulant aids, process control chemicals (pH controllers, anti-scalants, sodium
metabisulphite etc) (VOLLPRECHT, 2013). Furthermore, increase in temperature would have
increased the mobility of ions in the feed solution. These dissolved ions may have increased
the severity of the internal concentration polarisation (ICP) effect at higher temperatures (since
feed solution was facing the porous support layer), hence no significant increase in flux

resulted.

When experiments were conducted at elevated temperatures (40 °C) of feed solution (both lab
and PSDP sludge), the temperature of the draw solution was initially kept at 20 + 2 °C. During
experiments, the temperature of the draw solution increased by 8 °C over a period of 2 hours
and the volume of the draw solution increased due to ~30 mL of water permeate. Thus, the
increase in the osmotic pressure on the draw side was negligible. While the osmotic pressure
of the feed would have increased at higher temperatures, the viscosity will have reduced.
Increase in flux at higher temperatures for lab sludge as feed indicates that the effect of
viscosity is dominant over the effect of osmotic pressure. This should be the same for the PSDP
sludge as feed. However, the flux did not increase when the temperature of the PSDP sludge

was increased. It may be mainly due to the fouling of PSDP sludge.
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Figure 32: Averaged water flux versus elapsed time at different feed temperatures with error
bars in (a) AL-DS mode (feed solution facing porous support layer) (b) AL-FS mode (draw

solution facing porous support layer).

Water flux in AL-FS mode

There was no significant change in water flux with increase in temperature for Lab sludge. At
20, 30 and 40 °C averaged water fluxes were, 5.72, 5.36 and 5.96 LMH, respectively. However,
water flux is higher in AL-FS mode than in AL-DS mode at 20 °C. Zhao et. al reported AL-FS
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mode is more favourable when feed solution concentration and degree of concentration is
higher (Zhao et al., 2011). Comparable results were achieved only with the lowest temperature
(20°C). When temperature increased, the water flux in AL-DS mode was significantly higher
than AL-FS mode for Lab sludge as shown in Figure 33. At 40 °C water flux was 10.22 LMH
in PRO mode whereas in AL-FS mode flux it was only 5.96 LMH. Similar to Lab sludge, there
was no significant change in water flux with increase in temperature for PSDP sludge.

However, flux was marginally higher than AL-DS mode.

15
X Lab Sludge - FO mode
12 B Lab sludge - PRO mode
X PSDP sludge- FO mode m
= 9 ¢ PSDP sludge- PRO mode
=
=3
]
=
= 61 L eeeea-- X
3 -t___ .........
o T
O T T T T

Temperature (°C)

Figure 33: Effect of membrane orientation on water flux. AL-FS mode and AL-DS mode
stand for draw solution facing porous support layer and feed solution facing porous support

layer, respectively.

5.2.4 Conclusions

This part of the study focused on volume reduction of pre-treatment sludge as well as on
dilution of reverse osmosis (RO) concentrate through emerging forward osmosis (FO)
technology where RO concentrate draws water from the pre-treatment sludge (feed solution)
in order to reduce pre-treatment sludge volume and increase the RO water recovery.

Experiments were carried out using two different types of sludge i.e. (1) synthetic pre-treatment
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sludge (Lab sludge) which has lower salinity and (2) actual sludge from Perth Seawater
Desalination Plant, Australia (PSDP sludge) which has higher salinity. Effect of membrane
orientation (AL-FS and AL-DS modes) and temperature of pre-treatment sludge on permeate
water flux was investigated. There was a significant increase in water flux from 3.2 to 10.2
LMH (i.e. ~ 3 times higher) when temperature increased from 20 to 40 °C for Lab sludge in
AL-DS mode. However, there is no significant effect of temperature on water flux in AL-FS
mode for Lab sludge. On contrary, for PSPD sludge, there was no effect on water flux with
increase in temperature at AL-DS mode. Dissolved ions in the porous side increased the
severity of concentrative internal concentration polarisation (CICP), hence it could reduce the
flux. There was no significant change in water flux when temperature increased from 20 to 40
°C for PSDP sludge in AL-FS mode. However, higher amount of water has permeated from
Lab sludge compared to PSDP sludge in AL-FS mode.

Following conclusions were made from this part of study.

1. At elevated temperatures, AL-DS mode is more favourable for pre-treatment sludge
solutions which have low constituents (lab sludge where the concentration of dissolved
ions was low). However, AL-FS mode performed to be appropriate at lower
temperatures for the lab sludge.AL-FS mode is favourable for pre-treatment sludge
solutions which have high constituents (PSDP sludge where the concentration of
dissolved ions was high).

2. In AL-DS mode, dissolved ions in the PSDP sludge solution in the porous side could
have increased the severity of CICP resulting in lower water flux compared to AL-FS
mode.

3. All proposed systems are capable in reducing the volume of pre-treatment sludge with

further optimised process conditions.
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Chapter 6: Optimising Water Flux through Hollow Fibre Membranes

6.1 Introduction

Forward osmosis technology is becoming a promising application in wastewater and water
purification applications, dairy industry and fruit juice concentration, however it has been used
mostly at laboratory or pilot plant scale with only very few applications at industrial scale
[Poriferra- http://www.poriferanano.com/]. Its limitation to lab scale is due to inherent lower
water permeation, reverse salt flux (RSF), selection of proper draw solution and complexity in
regeneration of draw solution. The latter disadvantage is mainly due to footprint and economic
aspects as regeneration of draw solution needs reverse osmosis applications. The first two
mentioned drawbacks are being addressed by introducing new membranes fabricated with
different polymer materials and membrane type. Flat sheet membranes available to date are
showing low water fluxes. For example the best available flat sheet membranes to date, CTA
membranes manufactured by HTI innovations USA gives a maximum water flux of 9.6 LMH
when DI water and 0.6 M NaCl salt solution is used as feed and draw solution, respectively
(Miller et al., 2007).

However, when sludge and brine are passed through flat sheet membranes, the maximum water
flux obtained was ~ 3 LMH when brine and sludge conductivities were 45 ms/cm and 72
mS/cm, respectively (Chapter 5). This is significantly lower than other applications available
in literature. But, having waste sludge on one side of the membrane, due to fouling and
concentration polarisation effect, the maximum flux obtained is still acceptable. Having higher
water flux would improve the performance of the proposed FO/RO system especially in terms
of operational expenditure (OPEX). Hollow fiber membranes are believed to perform better
than flat sheet membranes considering higher water flux as well as lower reverse salt flux
(Wang et al., 2010, Su et al., 2010, Sivertsen et al., 2012). Therefore, in this study the
applicability of hollow fiber membranes for sludge dewatering when brine is used as draw
solution was investigated. Since the water diffusion through the FO membrane depends on
density (p), viscosity (W), cross flow velocity, and the channel thickness, the effect of these
factors on water flux through hollow fibre membranes was examined. All these parameters are

function of the Reynolds number (Re) of a solution which is given by:
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where v is the velocity of a fluid and d is the channel equivalent diameter. Therefore, the Re
of the draw and feed solution were varied and the effect on water flux and RSF was analysed.
Further, at the optimum Re of draw and feed, the sludge dewatering capacity at different sludge

solids content was investigated.

6.2 Materials and Methods

Feed (either MilliQ water or Fe(OH)s sludge) and draw solutions (NaCl, Na2SOs, MgCl, CaCl>
and RO brine-ROC) were passed through the membrane at different feed:draw Reynolds
number (Re) ratios. The properties of draw and feed solutions used to calculate Re are given in
Table 18, Table 19 and Table 20. Re was varied by changing the velocity of the feed and draw
solutions. Sludge/MilliQ water was circulated outside the hollow fibre membranes and the
draw solution through the lumens. Since the inside surface of the hollow fibre is the active
layer, the experiments were run in AL-DS mode. Experimental set up is shown in Figure 20.
Change in the weight of the draw solution was programmed to be stored in a data logger at
one-minute time intervals. Experimental water flux (], ) Was determined by the equation (16)
mentioned in section 3.3.1. After 1 hour of filtration, properties of the feed and draw solutions
were measured. Membrane was cleaned using MilliQ water prior to each experiment.

Theoretical water flux (J,,¢) was calculated and compared with that of experimental value.

Table 18: Properties of draw solution used in this study.

Draw solution Density, p | Viscosity, i | Conductivity*, EC
(kg/m?) (Pa-s) (mS/cm)

NaCl 1037.00 0.001080 81.1
Na2SO4 1557.00 0.001120 81.9
MgCl, 1072.40 0.001490 96.7
CaCl» 1085.20 0.001330 108.6
ROC 1023.98 0.001004 72.3

Note: Density and viscosity was obtained from OLI ® stream analyser, and *conductivity from

experimental values.
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Table 19: Major anions and cations concentrations of feed and draw solutions used in this
study

PSDP sludge (mg/L) ROC (mg/L) Seawater (mg/L)

Cations Ca* 454 1,101 457
(Filtered) Na* 14,724 19,130 8,773
Mg** 2,607 2,947 469

K* 626 815 414

Fed* 0.4 ND* ND*

Anions Cl 16,500 18,000 22,300
SOs* 1,800 2,200 2,200

NOsas N 2.3 0.4 1.2

*ND - not detected

Cations were identified using Atomic Absorption Spectrometry (AAS) and anion concentrations were recognised
through Merk® test kits.

Table 20: Properties of feed and draw solution used in this study.

Property Seawater Filtered Draw | Feed solution

seawater solution - | - PSDP

ROC | Fe(OH)s

Sludge
pH 8.42 7.68 7.77 8.69
Turbidity (NTU) 29.1 0.45 - -
EC (mS/m) 4,450 4,470 7,300 5,150
TOC (mg/L) 1.71 0.73 3.10 17.06
Alkalinity — mg/L as CaCOs3 110 45 68 102
Hardness (EDTA)-mg/L as CaCOs 4,600 6,200 9,550 4,500
Solids content (% TS) - - - 4.04
Specific gravity - - - 1.01

6.3 Results and Discussion
Effect of Re on the water flux

Figure 34 shows the water flux through hollow fiber FO membranes when DI water and salt

solutions were used as feed and draw solutions, respectively.
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Figure 34: Water flux through hollow fiber membranes when draw solution Re was (a) 1000

and (b) 2000. Note that the experiments were run in AL-DS mode to compare the results with

Draw Re was varied to 1000 and 2000 while feed Re was kept at 200, 450 and 1200. When
draw solution flowed in laminar condition (Re = 1000) a water flux of up to 10 LMH was
observed while Na>SO4 gave the highest performance, similar to MgCl.. This is interesting as
MgCl; at 1 M has the highest osmotic pressure; however, when the Re is similar 1M NazSO4
shows similar performance even though its osmotic pressure is lower. Further, when draw

solution Re was increased to become near turbulent (Re is 2000), all three draw solutions




showed better performance compared to MgCl.. MgCl. drew a maximum of 5.07 LMH when
the feed Re was highest (1200). Therefore, it is evident that, when selecting a draw solution,
not only its osmotic pressure, but also its viscosity, density and the crossflow velocity affect

the performance in terms of water flux.

Despite the type of solution 200 Re feed and 1000 Re draw gave the best performance in terms
of water flux. Therefore, sludge dewatering experiments (detailed in the following Section)
were run at 200:1000 feed to draw Re ratio.

Reverse salt flux of the membrane was determined by measuring the EC value of the feed
solution. Since feed was DI water the change in EC was obviously due to the ions transported
through the membrane from the draw solution. Figure 35 shows the RSF (or EC values of the
feed) for each draw solution. NaCl shows the highest increase in RSF with time. Despite the
Re, RSF is increasing with the filtration time. CaCl, shows the lowest RSF (below 5 pS/cm).
MgCl2 which showed lower water fluxes compared to the other salt solutions shows lower
RSF, however, higher than for CaCl,. Comparing these values with literature, it is evident that
RSF in hollow fiber is higher that of flat sheet FO membranes.
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Figure 35: RSF measurements during filtration

Effect of sludge solids content

In this part of study, draw and feed solutions were ROC and pre-treatment sludge, respectively.

Pre-treatment sludge solids content was varied from 2 to 8 % TS. As there are two types of pre-

treatment sludge (when media filters backwashed using pre-treated seawater or RO reject) total

solids content of each sludge type is different. The sludge available in the lab was 15% TS

industrial sludge as received from PSDP. Therefore, to obtain required TS contents of each

sludge type, 15% TS sludge was diluted using pre-treated seawater (named as High EC, EC =

45 mS/cm) and with DI water (named as low EC, EC = 1.5 mS/cm). Reduced solids contents

are shown in Figure 36.
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Figure 36: Average TS content of High and Low EC sludge prepared at lab scale starting
from 15% TS industrial sludge.

Since seawater and DI water were used for dilution, the gap of the gradients of the two graphs
should be the TS content of seawater. Therefore, (3.3964 - 0.0224) = 3.37 TS% is the TS
content of pre-treated seawater used. Since TDS of seawater is 30-35 g/L the 3.374 TS%
appears acceptable. For FO dewatering applications through hollow fiber membranes, Low EC
sludge samples were chosen assuming lower EC (hence higher EC difference between feed and
draw) would give better performance with the membrane.

Since the same membrane coupon was used for each experiment (after cleaning); before and
after the two-hour sludge dewatering, baseline experiments were run with 0.5 M NaCl and DI
water as draw and feed solutions respectively. This was to check whether the membrane coupon

had returned to the initial condition after cleaning. The results are shown in Figure 37.
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Figure 37: Water flux at each sludge solids content are given in m. ¢: before sludge

dewatering and 4 : after sludge dewatering and cleaning of the membrane.

As Figure 37 illustrates, cleaning has taken the membrane back to the original condition. This
means since the sludge dewatering time was only 2 hours, the membrane was either not fouled
or the fouling is nearly to 100% reversible. However, to compare the water flux at each sludge
solids content, averaged water fluxes were plotted in on one graph (Figure 38).
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Figure 38: Comparison of water flux at each sludge solids condition.

As Figure 38 shows, the lowest sludge solids content led to the highest water flux, i.e., 3.6
LMH, whereas all the other sludge types showed flux of 1.5 - 2.5 LMH. When sludge solids
content increased there was a slight drop in water flux. With increase in solids content the
viscosity and the density of the sludge increases. Higher viscosity means lower Re, and higher
density means higher Re, however, the combination of higher viscosity and higher density led
to lower water permeation through the hollow fibre membranes. The effect of higher amount
of solids content was dominant and this would have increased the CP effect as sludge passed

through the porous side of the membrane leading to lower water flux.

6.4 Conclusions

In this part of the study, membrane type was varied to hollow fiber PA membrane (instead of
flat sheet) and the water flux was compared with the flat sheet CTA membranes. Draw and
feed solutions’ Re was varied to enhance the water flux through membrane. Lower feed and
draw Re solutions perform better compared to higher Re solutions. At the best Reynolds
Number (Re) numbers pre-treatment sludge and ROC showed averaged water flux of 2.1 LMH

when sludge solids content is 3.68% (as is sludge solids content). With the same conditions
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(same temperature, TS content and pH, and PRO mode), flat sheet CTA membranes showed
1.5 times higher water flux compared to hollow fibre membranes. Therefore, for sludge

dewatering flat sheet membranes can be recommended.
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Chapter 7: Performance Evaluation of Flat Sheet FO Membrane through fouling study.

7.1 Introduction

Bio-fouling is due to unwanted growth and deposition of biofilms which leads to higher
operating pressure, lower recovery, more frequent chemical cleaning, and shorter membrane
life (Matin et al., 2011). The major three factors affecting the adhesion of microorganisms’

(such as plankton, bacteria, fungi, algae) to membrane surfaces are (Nguyen et al., 2012) ;

Q) Properties of membrane surface (chemical composition, surface charge, surface
tension, hydrophobicity, conditioning film, roughness, porosity etc),

(i) Microorganisms (species, population density, their nutrient status, hydrophobicity,
charges, physiological responses etc) and

(iii)  Characteristics of feed seawater (temperature, pH, dissolved organic matter,
dissolved organics, suspended matter, viscosity, shear forces, boundary layer, flux

etc).

Compared to RO bio-fouling in FO can easily be removed by increasing cross flow velocities
without any cleaning agents (Yoon et al., 2013). This is due to zero/low hydraulic pressure

applied during FO process whereas RO is conducted at high pressure (~ 70 bar).

However, there are very few studies on bio-fouling in FO available in literature. Further, the
available studies were conducted with synthetic solutions. In this part of the study all the FO
experiments were conducted with actual seawater and pre-treatment sludge. The fouling
tendency of FO when pre-treatment sludge and brine are used as the feed and draw solutions,
respectively, was investigated. Growth and development of bio-film with filtration time and its

effect on water recovery was also examined.

7.2 Experimental Procedure

Flat sheet CTA membranes with a woven, embedded support backing (explained in Chapter 3)
were used. Feed (pre-treatment sludge) and draw (RO brine) solutions were passed through the
membrane at 0.04 m/s cross flow velocity (Liu and Mi, 2012, Yoon et al., 2013) in counter

current flow configuration. Sludge was circulated on the support side of the membrane (FO
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mode) and stirred at a constant rate during the experiment to eliminate settling of particles.
Experimental set up was similar to that in Figure 19. Experiments were run at 20 + 2 °C and
triplicated at each operating condition. Change in the weight of the draw solution was
programmed to be stored in a data logger at 5 min time intervals. Three consecutive
experimental setups (similar to Figure 19) were run. Fouling behaviour on the FO membrane
was examined after 1 day, 4 days, 1 week and 5 weeks. One experiment was run until the
membrane was fully fouled (i.e., until no water flux observed). Water flux, conductivity, TOC
and pH of each set up were monitored continuously using a data logger, EC meter, TOC

analyser and pH meter, respectively.

All the fouling experiments were run in semi-batch mode as the experiments were long term
runs, following experimental procedure of Li et. al (2012), i.e., when the draw solution had
extracted 15 % of water from the feed (150 mL), both draw and feed solutions were replaced
with fresh 1L tank. Replaced feed and draw tanks’, TOC, pH, temperature, and EC were
measured. Prior to each new experiment, 3 experimental setups were thoroughly cleaned to

remove trace organic matter using the following procedure (Jeong et al., 2013).

Cleaning of FO set-up to remove trace organic impurities prior to each fouling test:

1. Recirculation of 0.5% sodium hypochlorite for 2 h.

2. Removal of trace organic matter by recirculating 5 mM ethylene di-amine tetra-acetic
acid (EDTA) at pH 11 for 30 min.

3. Additional removal of trace organic matter by recirculating 2 mM sodium dodecyl
sulphate (SDS) at pH 11 for 30 min.

4. Sterilisation of the unit by recirculating 95% ethanol for 1 hour.

5. Rinsing the unit with DI water (several times) to eliminate ethanol residue.

Once the filtration was complete a known area of membrane was selected for analysis for cell
count, SEM, TOC, ATP and live/dead cell count analysis (Figure 39).
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Figure 39: Fouled membrane analytical method protocol

7.3 Results and Discussion

Change in water flux

The water flux pattern with time is shown in Figure 40. Flux declined with filtration time due
to two reasons (1) fouling and (2) dilution of the draw solution as draw solution was
recirculated. However, flux increased when the draw and feed solutions were replaced with
fresh solution. This increased flux was lower than the initial flux of the previous batch due to
fouling on the membrane. Flux decline due to fouling is shown in red dashed lines in Figure
40. After one week of filtration, the flux declined further in Figure 40c due to the thickened
fouling layer deposited on the membrane. The layer may have contained microorganisms and

salt deposits as both draw and feed solutions contain salt ions.
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Figure 40: Water flux through FO membrane during long term filtration (a) 1 day (b) 4 days
(c) 1 week and (d) 5 weeks.

However, as the EDX spectrum shows in Figure 41, after 1 week of continuous filtration, the
FO system showed only salt deposits. This fouling could easily be removed by providing

regular flushes at high cross flow velocities as deposited layers were thin and loose.
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Figure 41: SEM images and EDX spectra of the membrane surfaces after (a) 1 week and (b) 5
weeks of filtration.

Interestingly, as Figure 40(d) shows, after 300 hours (about 2 weeks) the flux was increased
once more; however, it was less than the start-up water flux. This was repeated after about 650
hours (around 4 weeks). After about 2 weeks the loose salt deposit layer had formed and when
its thickness increased, part of the loose layer could be readily removed by the increased
process cross flow velocity (because when thickness reduces velocity increases, as shown in
Figure 42).

a Vi ’ }b a Va > }b1 a Vs > b2
— v | — v
Fouling laydr FO membrane couli FO membrane i FO membrane
ouling layer| Fouling layer]
a = channel thickness a = channel thickness a = channel thickness
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V1= cross flow velocity V,= cross flow velocity V3= cross flow velocity >V;
(a) Initial membrane (b) Membrane during two weeks (c) Membrane after about two
weeks

Figure 42: Schematic diagram of the FO membrane surface with filtration time. Fouling layer

increased with filtration time and so does the cross velocity.
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Longer runs were conducted to confirm this behaviour. That is, filtration was conducted until
there was no water flux through the membrane. After eight weeks of filtration there was no
evidence of water flux, therefore filtration was stopped, and the membrane surface was
analysed by SEM to check evidence for no water flux. Water flux and SEM images are shown
in Figure 43 and Figure 44, respectively. In Figure 43, after 5 weeks of filtration higher water
flux fluctuations can be observed. This may be due to uneven membrane surfaces on both feed
and draw side due to deposits. EDX membrane images supports this suggestion as it shows a
spread of salt and silica deposits on the feed side and salt depositions on the draw side (and
more EDX images can be found in the appendices section). Further, TOC results show the same
behaviour as shown in Figure 45 . Up till 5 weeks, there was an increase in TOC from ~5to ~7
ppm. However, after 5 weeks, the TOC dropped again. This may be due to clearance of the

fouling layer after 5 weeks of filtration.

2.00
x
3
T 1.50
2
(L]
3
- 1.00
2
®
€ 0.50 |
[}
2
0.00
0 200 400 600 800 1000
Filtration time (hr)
Figure 43: Normalised water flux with respect to filtration time.
TOC results

Draw and feed solutions were replaced with fresh draw and feed samples every 24 hours. The

used feed and draw solution TOC values were measured daily. Eight weeks of TOC results are
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reported in Figure 45. The remaining TOC results can be found in the appendices section.
During 8 weeks of filtration, TOC of the feed and draw solutions fluctuated. Once the 1day, 4-
day, 1 week, 5 week and 8 weeks filtration runs were completed, a known area of membrane
was selected (as shown in Figure 39) and vortexed with DI water to extract the deposited

fouling layer.

Some aggregated salt particles (Na, Mg, Cl etc)

100um

Sand particles (Si)

Figure 44: SEM images of the fouled membrane (a) Feed side (b) draw side (c) elemental
analysis corresponding to (a) obtained through EDX. Remaining EDX images of both feed
and draw sides can be found in the appendices section.
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The extracted liquid was used to analyse the TOC content per unit of membrane area (Figure
46). TOC on the membrane surface has increased 10 mg/cm? when the filtration time increased
from 1 day to 5 weeks. In addition, microorganisms started to grow on the membrane surface
after 1 week of continuous filtration. As shown in Figure 46 live and dead cells were propagated
over the membrane surface which then led to reduction of water flux. Therefore, membrane

may be need at least a once weekly cleaning cycle to avoid this.

8
7
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Figure 45: Daily TOC results of the feed and draw solution.

In the 8 weeks filtration trial the TOC value was significantly low (only 10 mg/cm?), which is
hard to explain why. All the experiments other than 8 weeks filtration trail were triplicated.
Therefore, another duplicate experiment for 8 weeks trial would be required to confirm the

TOC results.
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Figure 46: TOC of the filtered membrane and live and dead cells on the membrane.

Green - live cells and Red- dead cells (dead cells are circled with white dashed line)
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7.4 Conclusions

A ~50% reduction in water flux was observed due to fouling during five weeks of continuous
filtration, without cleaning in between. This is mainly due to deposition of metals. After eight
weeks of filtration, there was no water permeation. Salt deposition on the FO membrane
coupon filtered for eight weeks was higher compared to the FO membrane coupon filtered for
five weeks. With frequent cleaning with water, water flux can be brought back to initial value
as fouling in FO membrane is reversible. Once a week cleaning cycle may be required for
longer runs as live (and dead) cells were observed after one week of filtration on the membrane

surface.
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Chapter 8: Mass and Energy Balance Calculations

Corresponding Publication: Liyanaarachchi, S., Jegatheesan, V., Muthukumaran, S., Gray,
Stephen, Shu, L., S., (2016). Mass balance for a novel RO/FO hybrid system in seawater
desalination, Journal of Membrane Science 501: 199-208 (Liyanaarachchi et al., 2016).

8.1 Introduction

It is well-known that the demand for fresh water is increasing and its reserves are depleting.
Desalination of seawater has come to aid the demand for fresh water. Desalination processes
have evolved from multi-stage flash (MSF) and multi-effect distillation (MED) to reverse
osmosis (RO). Approximately 40-50% of the seawater treated by reverse osmosis (SWRO) is
converted in to fresh water (Jamaly et al., 2014, J.E.Miller). SWRO has three major draw
backs: (i) high volumes of concentrate due to low water recovery, (ii) significant amounts of
pre-treatment sludge that needs treatment and disposal and (iii) high energy consumption due
to the use of high pressures to overcome the osmotic pressure of concentrated seawater
(VOLLPRECHT, 2013, Blank et al., 2007b, NCED, 2010, Latorre, 2005, Ahmed et al., 2001).
Although the last draw back has been addressed well by the introduction of energy recovery
devices (Fritzmann et al., 2007, Elimelech and Phillip, 2011), the first two draw backs still
need solutions. Application of forward osmosis (FO) may be able to provide a solution to those

two draw backs.

A novel hybrid RO/FO system is proposed that will improve both water recovery and reduce
the volume of pre-treatment sludge. In a typical pre-treatment sludge treatment process,
clarified backwash sludge gets mechanically treated until the solids content meets the required
landfill conditions. However, this process yields high operation and maintenance (O&M) costs
(VOLLPRECHT, 2013). Table 21 shows the O&M cost for a sludge treatment process where
daily sludge generation is 275 m®/day.

Transportation and disposal of sludge costs $465 and $1,978 AU$/day, respectively, which is
a significantly high cost. Figure 47 shows an existing treatment process (System E) for pre-
treatment of sludge in a seawater desalination plant, where a centrifuge increases the sludge
solids content from 2-4% to 25% (VOLLPRECHT, 2013)). The final sludge solids content is
an important factor to be considered when proposing a FO system for sludge dewatering, as

solids contents similar to those currently achieved or higher are required. However, existing
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FO membranes are incapable of producing solids contents of up to 25%, so the FO system

considered was to be installed between the clarifier and centrifuge.

Table 21: Operating and maintenance cost of sludge treatment when 275 m®/day of sludge
volume generated from pre-treatment process (VOLLPRECHT, 2013)

Item Daily cost (AUD/day)
Chemicals 47
Power 35
Transportation 465
Disposal 1,978
Total 2,525

The FO system increases the solids content to a designated extent following which the sludge
is centrifuged until solids content reaches 25%. This may reduce the power requirement (Chu
et al., 2005), as the FO system uses comparatively less energy to function and maintain than a
centrifuge. FO system consumes merely 17.3 kW h/day of power to increase sludge content
from 3% to 10% as shown in the following calculations. Further, the volume of filtrate from
the centrifuge, which is known as centrate, will be reduced which generally needs treatment

before discharge.

Assumed pre-treatment sludge flow rate = 275 m3/day
Maximum permeate through a proposed FO system,
when sludge content increases from 3 to 10 % =72 m*/day

Power consumption of a FO system = 0.24 KW h/m® of water
produce, (Semiat, 2008, McGinnis and Elimelech, 2007)

=~ Power requirement for the FO system = 0.24 x72 KW h/day

=17.3 KW h /day
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Figure 47: Typical sludge treatment process in a seawater desalination plant
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The following three options of RO/FO hybrid system were considered, and mass balance
calculations were applied in order to evaluate the feasibility of those systems:

Option 1:

In addition to an existing 2 stage RO desalination process, a FO system is proposed to reduce
the volume of pre-treatment sludge. This Option is suggested for the RO processes, where 2"
pass RO concentrate (significantly low salt concentration since 2" pass RO treats the permeate
from 1% pass) is used to backwash media filter. Figure 48 shows the process flow diagram. An
optimised proportion of 1%'pass RO concentrate is used to draw water through FO as it has high
concentration (hence high conductivity and osmotic pressure). Diluted 1% pass RO concentrate,
which gets blended with pre-treated seawater, recirculates to the 1%'pass RO for desalting in
order to increase overall water recovery.

Option 2:

This Option is suggested for existing desalination processes, where filtered/polished seawater
is used to backwash media filters. The additional proposed FO system uses 1% pass RO
concentrate to draw water through FO as it has high concentration (hence high conductivity
and osmotic pressure) as shown in Figure 49. Diluted 1% pass RO concentrate gets blended
with pre-treated seawater sent back to the 1%pass RO for further desalting in order to increase
the overall water recovery.

Option 3:

Figure 50 shows the process flow diagram of option 3. This Option is applicable for
desalination processes where dilution of RO concentrate is important, especially before
discharging to a water body. Dilution will significantly increase the discharge rate; hence
higher production rate could be obtained. Either filtered/polished water after pre-treatment or
concentrate from 2" pass RO is used to backwash media filter, as suggested in option 1 and 2.
1% pass RO concentrate is used to draw water through FO as it has high TDS (hence high
conductivity and osmotic pressure). Diluted brine gets blended with the 1%t and 2" pass

concentrate before discharging back to a water body.
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Figure 48: Option 1 - Backwashing of sand filter (used for pre-treatment) by the concentrate from 2" pass RO, where diluted 1% pass RO
concentrate (as draw solution for FO) is recycled in the RO process

Note: HPP-high pressure pumping; MF- media filter; SW-seawater

106



Pre-treatment Desalting

[ S _ HFP process Post treatment
: 1
SystemiB —.:{)F i T 1T 1 I 1
1 I e ———————— [me——————————
| | ! 3
Il nd ?St D
| 7 \ 1" stage RO 112 stage RO e|hITrna;at94:I water
Intake Q. : I | f:lpﬂ : : *, :
. ~ PR
SW Co I Filtered SW Qg . | : N I
| w C |
| 2 ¥ , ¥
! 2 1 Qrrz '
be——- I Cam :
o A Intermediatetank @t de e P ANy . Surge tank
=
-
[=]
iy 4 - .
= Qp Diluted Brine
=== ======" _CI ===
System A 1
_ 1
: Qs I
[ Cs 1
w | : Oipg
[+ 1] d
I
8 \ RO I
a | |
4 : : 1
! Qg : QrerQy
- - | C: 4 | C: .
Q: | ! : —
b oo o —— ——
G Qu  Reject- RO
Concentrated sludge to centrifuge Cv  concentrate

Figure 49: Option 2 - Backwashing of sand filter (used for pre-treatment) by filtered sea water, where diluted 1% pass RO concentrate (as draw

solution for FO) is recycled in the RO process
Note: HPP-high pressure pumping; MF- media filter; SW-seawater

107



Pre-treatment Desalting
! ! HFP process Post treatment

I
System:ﬂ [ I
rF peemmmmmemmmsmsmmmsmem====== |f===——==—=== -
: ' o 1) _ne Systemn D
] I : 1" stage RO 112 stage RO | Treated water
, Cpz 11
intake g, ! I _ : N Y N J !
SW Co | Filtered SW - i
I 1] M ., 1 ™ |
I B | (N} I -
! ° [ " Q |
R L H o |
= i Crpz I
o Intermedjiate tank @t et Surge tank
= Backwashwateras, | e o ]
- . \
s Qg " Diluted Brine
C
-----------3—--1 “QRM—QEDFQRM
_Svs.tem A . : Craz
: Oy 1
I Cs |
w [ : Qpr
@ H c
(=1 d
|
3 \ i
=9 I I
o | I -
: Qg : OOy
L fs \ F Ca . 1 Cg . .
Qc | 1 iy R4
[ btemmmmmc—cm e — == Q Reiect- RO
c w eject-
Concentrated sludge to C ]
¢ * concentrate
centrifuge

Figure 50: Option 3 — Backwashing of sand filter (used for pre-treatment) either by filtered sea water or by the concentrate from 2" pass RO,
where diluted 1% pass RO concentrate (as draw solution for FO) is not recycled in the RO process
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8.2 Mass Balance

Several factors need to be considered while conducting the mass balance for a hybrid RO/FO
system. It is essential to establish the water recovery of RO at various osmotic pressures of the
feed, as the feed will be a mixture of pre-treated sea water and the draw solution from the FO.
Information on the amount of backwash water required for the pre-treatment process (generally
sand filters) will help to decide how much of this volume could be reduced through the FO
process. The above information, along with the performance of FO in terms of water flux,
allows estimation of the flow rate of draw solution (RO concentrate) entering to the FO as well
as the area of FO membrane.

Mass balance calculations are based on both large scale and a small scale desalination plant
conditions. Table 22 shows the initial assumed parameters for the subsequent mass balance

calculations.

Table 22: Assumed parameters of RO/FO hybrid system for mass balance calculations

Large scale | Small scale Units
plant plant
Intake flow rate, Q;, 340,000 | 15,000 m3/day
RO rejection 100 100 %
Total amount of pre-treatment sludge per day, Qz | 275* 100? m3/day
RO 1 recovery, R1 50 50 %
RO 2 recovery, R2 90 90 %
Overall recovery (Without FO)? 45 45 %
Nominal FO membrane surface area of 8-inch 18.13 18.13 m?
spiral wound modules
Initial Solids content of Pre-treatment sludge 4t 3 %

Lactual figures; ? 0.7% of intake; 3- R1*R2

8.2.1 Mass balance for Option 1

FO system uses 1 pass RO brine as the draw solution. Applying mass balance and salt balance

to the FO system (System A in Figure 48):
Qc = Qf —0.024/,,A (1)
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and

Qa
=2
Co [Qd4-0024]WA Co

(2)

where; Qf < Qq < (Qin + Qpy(1 — R1%)

Q.= concentrate flow rate (m%/day), Qy = Feed flow rate to the FO system (m*/day), J,, =
water flux through FO unit (LMH), A = FO membrane area (m?), C,= salt concentration of
diluted brine (mg/L), Q4= draw flow rate to the FO unit (m®/day), C,= salt concentration of
intake seawater (mg/L), Q;,,= intake flow rate (m®/day), Q,= diluted brine flow rate (m*/day),

R1= recovery of the 1% pass RO unit (%).

Lower Q4 (less than Q) may reduce the water flux through FO, due to dilution of draw solution
during filtration. Therefore, the minimum @, value was set to be equal to the volume of Q.
Further concentration of draw solution is assumed as twice seawater concentration to simplify
the equations (Sim et al., 2013). According to equations 1 and 2, higher water flux will lower
not only the concentration of diluted brine but also the concentrated sludge volume. However,
Jw significantly depends on the performance of the FO membrane and properties of draw and

feed solutions, hence they need to be obtained experimentally (refer Section 8.3).

Diluted brine gets blended with pre-treated seawater before entering the 1% pass RO system.
Hence, it is required to check the concentration of the inlet to 1% pass RO, Cg, as higher
concentration would decrease the recovery of RO if the operating pressure remains same.
Applying mass balance and salt balance to the System C in Figure 48, concentration of the inlet
water to the RO is given by following equation:

[Qin + CP/CO QP]
T Qmt 0

Cr Co (3)

C. . . .
Where P Cocan be obtained through equation (2) and Cr= salt concentration of RO 1 pass

inlet (mg/L).
Increased overall recovery of the system is given by:
R = R1 XR2X (Qin + Qp) (4)
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Where, R= overall recovery of the RO/FO hybrid system (%), R2 = recovery of the 2" pass
RO unit (%).

Furthermore, to check the dilution of the concentrated brine waste before discharging, it is
important to check the concentration of concentrated brine waste. Assuming concentration of
reject from 2" pass RO, Crgr, is negligible (Personnel communication with Wonthaggi

seawater desalination plant, 2014), C,,can be obtained using following relationship:

— (QRR - Qd) C
(Qrr — Qu) + (Qrrz — Q5) ©

Cw (5)

Where C,,= salt concentration of the blended RO concentrate (reject) (mg/L), C,;= salt
concentration of draw solution/ brine from 1% pass unit (mg/L), Qrr = brine flow rate of 1% pass
RO unit (m%/day), Qrr, = reject flow rate of 2" pass RO unit (m%/day), Q5 = backwash sludge

flow rate (m%/day).

This relationship can be simplified as:

[ 1
C —zl . IC (6)
v |1+R1(1—R2)(Qm+Qp)—QB| °
" T —RD(Qum + Q) — Qa |

Where C,,= salt concentration of the blended RO concentrate (reject) (mg/L),R1= recovery of
the 1t pass RO unit (%), R2 = recovery of the 2" pass RO unit (%), Q;,,= intake flow rate
(m3/day), Q,= diluted brine flow rate (m*/day), Q5 = backwash sludge flow rate (m%day), Q4

= draw flow rate to the FO unit (m®/day), C,= salt concentration of intake seawater (mg/L).

8.2.2 Mass balance for Option 2
Similar equations obtained in Section 8.2.1 can be applied for the FO system in Option 2

(Figure 49) i.e. equation (1) and (2). However, conditions of feed solution vary as follow:

(Cf)Option 1 < (Cf)OptionZ
Where C¢= salt concentration of backwash sludge (mg/L). Also, the range of Q is given by:

Qr < Qa = (Qin — Qs + Qp) (1 = R1%)
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Where Qr = Feed flow rate to the FO system (m®/day), Q.= draw flow rate to the FO unit
(m3/day), Q;,= intake flow rate (m®day), @ = backwash sludge flow rate (m%day), Q,,= diluted
brine flow rate (m®/day), R1= recovery of the 1% pass RO unit (%).

Part of the filtered seawater is used to backwash the pre-treatment system, generally media

filter. Therefore, the amount of water enters the 1% pass RO system, Qy, is given by:

Qr = Qin— Qs+ 0Qp (7)

Thus, the concentration of the fluid stream entering the 1% pass RO system,Cy, is given by:

_ [(Qin —Qp) + Cp/CO QP]

L (N S R

(8)

Where CP/CO is given by Equation (2).

Due to the increased volume to the desalting process, increased overall water recovery is given

by:
R% = R1 X R2 X (Qin — Qp + Qp) 9

Concentration of the concentrated brine waste is given by:

| :

Cp =2 C,
ll R1(1 —R2)(Qin — Qs + Q)
(1-R1)(Qin— Qs+ Qp) — Qu

(10)

Where C,,= salt concentration of the blended RO concentrate (reject) (mg/L),R1= recovery of
the 1% pass RO unit, R2 = recovery of the 2" pass RO unit (%),Q;,= intake flow rate (m%/day),
Qp = backwash sludge flow rate (m®/day), Qp= diluted brine flow rate (m®/day), Q4 = draw

flow rate to the FO unit (m®/day), C,= salt concentration of intake seawater (mg/L).
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8.2.3 Mass balance for Option 3

The difference in this Option is, without increasing the overall recovery, diluted brine is used
to dilute the blended reject from 1%t and 2" pass RO units. Therefore, the important parameter
that is needed to be checked is C,,. However, C,, depends on the backwash method. C,, at each
backwash can be obtained using following mass balance relationships;

If 2" pass RO reject is used as backwash water:

Qs P/, + 2001~ R1) Q]

C, = Co (11
W = | [0m(1 = RD) — Qu] + [QmRI( — RD) — Q5 + @, | © V)
If filtered seawater is used as backwash water:
C
Q P/r +2[(Qmn — Q5)(1 = R1) — Qq4]
Cu = » /e, _ . Co (12)

[(Qin — @Qs)(1 = R1) = Qq] + [(Qin — Qp)R1(1 = R2) + Q]

Where, C,, = salt concentration of the blended RO concentrate (reject) (mg/L),Q,= diluted brine
flow rate (m%/day), C,= salt concentration of diluted brine (mg/L),C,= salt concentration of
intake seawater (mg/L), Q;,,= intake flow rate (m%/day), R1= recovery of the 1% pass RO unit
(%),Q, = draw flow rate to the FO unit (m%/day), R2 = recovery of the 2" pass RO unit (%),Q5

= backwash sludge flow rate (m*/day).

Water flux through FO would be significantly higher in first option than the second as the salt

concentration of backwash sludge is lower in the former.

8.3 Materials and Method for FO Experiments

Flat sheet CTA membranes were purchased from HTI, USA and Fe(OH)s sludge (feed
solution) was obtained from the Perth Seawater Desalination Plant (PSDP), Australia. Draw
solution (RO reject) was prepared at laboratory scale following the SWRO process explained
in Section 3.2.2. Sludge solids content was varied to four different values while the properties
of the draw solution remained constant. Pre-treatment sludge was diluted using de-ionised
water (up to 1:4 volume proportion) in order to change the solids content, however, the salt

concentration of the feed also changed (hence the EC). EC measurements were used as the
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basis to define the salt concentration. To check the effect of salt concentration of feed solution
(as the proposed systems’ feed solutions have different salt concentrations), experiments were
conducted at constant EC value as well.

When the feed solution EC was lowered after dilution, EC was adjusted to its original value
using 40% NacCl. These solutions are denoted as EC adjusted samples. Feed and draw solutions
were passed through the membrane at 0.5 m/s cross flow velocities in counter current flow
configuration. All the experiments were conducted in AL-FS mode as the previous studies
showed that AL-FS mode performs better than AL-DS mode (Chapter 5- (Liyanaarachchi et
al., 2014a)).Change in the weight of the draw solution was programmed to be stored in a data

logger at one minute time intervals to calculate the experimental water flux (J,).

8.4 Results and Discussion

8.4.1 FO Experiments

Pre-treatment sludge solids content was 3.4% TS, as received. When diluted by 1:4, the solids
content reduced to 0.6% TS. Figure 51 shows the effect of solids content on the water flux,
along with the solids content values. Significantly higher water flux was observed when EC of
the feed solution was not adjusted, compared to constant EC feeds. Water flux of EC adjusted,
and constant EC samples were 6.1 and 8.0 LMH, respectively, at 1:4 dilution. Added EC
controller increases the salt concentration of the feed solution and this would have led to lower
water flux as higher feed concentrations reduce the effective osmotic pressure difference across
the membrane. This was further confirmed at lower dilution factors. When sludge was diluted
1:1 with water, the amount of salt added by the EC controller was significantly lower compared
to former sample, hence the difference in water flux of EC controlled and un-controlled

samples was marginal.

114



= TS content
CFinal TS content
® EC adjusted water flux
B EC unadjusted water flux

TS content (%)

T

B =

1:2
Dilution factor

Figure 51: Effect of solids content on water flux. Note: During the experiments feed solution
was facing active side of the membrane. Industrial pre-treatment sludge was received with

3.4% TS content; therefore, dilution is 1:0. Water flux obtained at each dilution is presented

on secondary Y axis.

Hence, significantly higher flux could be expected in proposed Option 1 than in Option 2. This
is due to lower EC value of feed solution in Option 1 than in Option 2. As Figure 51 depicts,
water flux at 1:0 dilution was around 3 LMH and when dilution was 1:4 water flux was 6 to 8

LMH depending on the EC of the solution. Therefore, for the mass balance calculations, it was

assumed that the water flux in Option 1 is twice that in Option 2.

8.4.2 Option 1

Change in concentration of diluted brine, C,,, was studied when Qa Q; was changed within the

given range. Figure 52 shows the change in C,,when FO membrane area increased in large and
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small scale desalination plants. When membrane area was 500m? and Qa Q, Was lowest,C,

was 1.35 and 1.16 times of the concentration of seawater for large scale and small scale

processes, respectively. However, when the membrane area was lower, C, increased

14
significantly as J,, was lower (according to equation (2)), at both scales. However, in both the

processes, when Qa Q; increased, C,converged to C,;/C, which is nearly equal to the

concentration of 1% pass RO reject. Higher concentration of diluted brine would have an effect
on the performance of 1% pass RO unit as it would reduce its recovery if it operates under the
same operating conditions. However, before entering the RO unit, diluted brine is blended with

pre-treated seawater and salt concentrations change to Cr. Consequently, Cy has an effect on
the performance of the RO unit. Therefore, change in Cz with Qa waas studied and given in

Figure 52 (c) and (d). As Figure 52 (c) and (d) depict, after blended with filtered seawater, the
change in concentration is negligible at each condition for large scale processes. Unfortunately,

for small scale processes, the increase in concentration is significantly higher. However, for

small scale plants lower Qd/ins suggested, as for lower flow rates CR/C ratio is less than
o

1.02 (Figure 52).
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Overall recovery of a seawater desalination system is assumed to be 45%. Overall recovery
after System A is installed was plotted against membrane area at each Q4 and given in Figure
52 (e) and (f). Q, for large scale and small scale plants was varied up to 16 times. Increase in
recovery for the small scale process is higher than that of large scale process, at smaller draw
flow rates.

Final solids content after passing through the FO system was calculated and is shown in Figure
53. When the membrane area is 100 m? (minimum area considered) it reduces sludge volume
by 5.24%, but the final solids content has increased only up to 4.22%. When membrane area
increases, both solids content and sludge volume reduction increase in large and small scale
plants. When membrane area of a large scale plant is increased to 900 m2, sludge volume has
reduced by 50% with a final solids content of 7.57%.
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Figure 53: Final solids content of the sludge with different FO membrane area (a) Large scale
plant with Option 1 (b) small scale plant with Option 1 (c) Large scale plant with Option 2 (d)
small scale plant with Option 2.

Note: circles denote sludge volume reduction through FO and triangles denote final solids

content.
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8.4.3 Option 2
Figure 54 shows the variation of C,, at selected draw flow rates with different membrane area.

In the case of large scale desalination plants, when membrane area increases from 100 to 500

m?, increase in concentration of diluted brine is marginal at the lowest Qa Q0 However, there

is a significant increase in small scale plants in the lowest Qa Q0 As mentioned in Option 1,

it is important to check C in order to understand the dilution factor to the 1% pass RO. Variation

of Cg with Qd/Qf is also given in Figure 54. Similar to Option 1, in large scale plants dilution

is lower (maximum ratio is 1.013) compared to small scale plants. However, for small scale
plants lower membrane area can be suggested since the CR/C ratio is less than 1.01. As far as
o

increase in overall recovery concerned, small scale plants show better performance. Calculated
overall recovery values were plotted and are shown in Figure 54 (e) and (f). Maximum change
in recovery is by 0.5% in the case of large scale desalination plants. Interestingly, small scale

plants show overall recoveries up to ~50 %.

Final solids content after passing through the FO system was calculated and is shown in Figure
53 (c) and (d). When the membrane area is 100 m? (minimum area considered) it reduces
sludge volume by 7%, but the final solids content has increased only up to 3.2% in small scale
plants. When membrane area increases, both solids content and sludge volume reduction
increase at both scales. When membrane area of a small scale plant is increased to 500 m?,

sludge volume has reduced by 36% with a final solids content of 4.7%.
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Figure 54: Variation of C,, Cr and recovery with @ at selected FO membrane area for

Option 2. (a), (c) and (e) Large scale desalination plant (b), (d) and (f) small scale

desalination plant.
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8.4.4 Option 3

An important factor to be considered in Option 3 is the dilution factor of brine before discharge.

Therefore, ratio of C,, and C, was calculated and plotted against membrane area as shown in

Figure 55. Higher dilution occurs when filtered seawater is used as backwash water in small

scale desalination plants. When 100 m? of membrane is used, dilution factor is as high as 1.84.

19
Large scale
1.88 - 4 If filtered seawater is used as backwash water
- If 2nd pass RO reject is used as backwash water
Small scale
1.86 o If 2nd pass RO reject is used as backwash water
J + If filtered seawater is used as backwash water
=2
)
1.84
®
®
®
)
°
1.82 " ™y = - -
¢ o
” -
1.8 T T T T T
0 100 200 300 400 500

Membrane area (m?)

600

Figure 55: Variation of CW/C with membrane area for large and small scale desalination
o

plants in Option 3.

Note: At both scales, water flux through FO was assumed to be 3 LMH if filtered sea water

was used as backwash water and 6 LMH if 2" pass RO reject was used as backwash water

In summary, the novel proposed FO/RO hybrid system's sludge treatment process

shows significant reduction in sludge solids content and a marginal increase in overall water

recovery at the selected draw to feed ratio range. An optimum draw to feed ratio should achieve
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lower Cp and Cg values and higher recovery values. Therefore, a draw to feed flow ratio of <
4 for both scales would be recommended, with a membrane area of 900 m? and 500 m? for
large and small scale plants, respectively. Table 23 shows the comparison between before and
after installing an FO system. After installing an FO system prior to centrifuge of a small scale
treatment plant, number of centrifuges in operation can be reduced from 3 to 2, which leads to
lower power requirement. Hence, lower capital cost and operational energy costs. As reported
in Table 23, annual energy costs of a small scale treatment plant can be reduced to one third.
However, number of centrifuges in operation in a large scale treatment plant remains same
even after installing the FO unit. But, the annual power requirement reduces nearly to half and
the energy cost can be minimised to AUD 8000/annum. The volume of centrate generated
through centrifuges can be minimised with the proposed system at both scales. This reduces
cleaning in place (CIP) costs of the plants, hence lower operational costs. In addition, existing
sludge clarifiers are not necessary for both the systems as sludge flow pass through FO process
before entering the mechanical dewatering system, therefore reduction in capital cost can be

achieved.

Using the costing data provided in a recent work, (\Valladares Linares et al., 2016) the following
could be considered as the CAPEX and OPEX of existing RO system and the hybrid FO/RO
system proposed in this study: The Engineering, Procurement and Construction (EPC) costs of
SWRO and stand-alone FO unit were considered to be USD 1207 and USD 787 per cubic metre
of water produced per day. Thus, the CAPEX of 340,000 m®/d and 15,000 m®/d RO systems at
45% recovery would be USD 83,102,000 and USD 3,667,000, respectively. If the same RO
system is used in the FO/RO hybrid system the EPC will be reduced to USD 1191 in the large
scale plant (at 45.6% water recovery) and USD 1095 (at 49.6% water recovery) in the small
scale plant per cubic metre of water produced per day. The CAPEX of FO system in the large
and small scale FO/RO plants seems to be marginal compared to the CAPEX of RO at USD
115,000 and USD 24,000, respectively. Similarly, the OPEX of SWRO can be computed using
the following percentages (Valladares Linares et al., 2016): 3% labour, 3% membrane
replacement, 5% chemicals, 12% maintenance and others, 38% energy and 39% amortisation
for CAPEX. Introduction of FO as discussed earlier helps to reduce the annual energy cost

slightly.
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Table 23: Comparison of existing and proposed sludge treatment processes (VOLLPRECHT, 2013, (EPA), (EPA)). (LSP- large scale plants;
SSP-small scale plants)

Existing sludge treatment process

Proposed RO/FO hybrid system

as solids capturing of centrifuges lie between 85-

96

1€ Centrifuge S
Sludee in Centrifuge Slud Sludge in to FO Sludge out from FO Sludge out
Sucgein sludge out LSP_SSP_units LSP__ SSP_units LSP_SSP_units
LSP_SSP unit LSP_SSP._unit 275 100 m¥/da 145 30 m¥d 40 30 ton/d
SFR: 275 100 m3/day 40 30 ton/day v m?>/day on/day
4 3 % 8 1 % 25 25 %
SSC: 4 3 % 25 25 %
Legend B
SFR: Sludge flow rate
SSC: Sludge solids content
No. of LSP: 2+1 (spare) @12 mé/hr LSP: 2+1 (spare) @12 m*/hr
centrifuges SSP: 2+1 (spare) @12 m¥/hr SSP: 1+1 (spare) @6 m%hr
Power LSP: 415 kW h/day LSP: 150 kW h/day
requirement SSP: 150 kW h/day SSP: 45 KW h/day
Total annual LSP: AUD 15,000 per annum LSP: AUD 9,000 per annum
cost SSP:  AUD 5,500 per annum SSP:  AUD 2,600 per annum
Comments e Centrate needs further treatment. Cannot reuse ¢ Reduced number of centrifuges will reduce the capital cost as well as O&M costs for

dewatering.

e Less centrate to treat in place and could pass through a FO set up if necessary.
Centrate from FO (draw solution) can reuse to increase water recovery and/or to
dilute RO concentrate

o Sludge clarifier (as in Figure 47) is not necessary.
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8.5 Conclusions

Experiments and mathematical modelling proved that proposed novel FO/RO hybrid systems

are capable of reducing the volume of pre-treatment sludge. Table 24 shows the final volume

reduction, increase in water recovery and final solids content of both large and small

desalination plants considered.

Table 24: Design outcomes of the RO/FO hybrid system

Large scale plant Small scale plant Units
(340 ML/day) (15 ML/day)
Option 1 Option 2 | Option 1 Option 2
FO membrane area required 100 - 900 100-900 | 100 - 500 100 -500 | m?
Volume reduction 5.2-47.1 26-236 (144-720 [7.2-36.0 | %
Final solids content 4.2 -7.6 41-52 3.5-10.7 3.2-47 %
Water recovery 45.0-45.6 |45.0- 453-50.0 |45.0- %
45.6 49.6

Number of 8 inch spiral wound
modules required 6 - 50 6 - 50 6 - 28 6 - 28 -

By increasing FO membrane area up to 900m? (which requires fifty 8” spiral wound membrane

modules), pre-treatment sludge volume can be reduced up to 47% in large scale desalination

plants. Further final solids content and overall water recovery of RO system can be increase

up to 7.6% and 45.6%, respectively. Interestingly in small scale plants, having membrane area

up to 500 m?, the volume of sludge can be reduced by 72%. During dewatering, the final solids

content and overall water recovery increased to 10.7% and ~ 50%, respectively. Twenty-eight

8” spiral wound membrane modules are estimated to be required to operate in this mode.

Therefore, small scale desalination plants tend to show better performance than large scale

plants with the Hybrid system.
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Chapter 9: Conclusions and Recommendations

9.1 Conclusions

This study focused on volume reduction of pre-treatment sludge while diluting reverse osmosis
(RO) concentrate through emerging forward osmosis (FO) technology where RO concentrate
draws water from the pre-treatment sludge in order to reduce volume of pre-treatment sludge
and increase the RO water recovery.

Experiments were carried out using two different types of sludge i.e. (1) synthetic pre-treatment
sludge (Lab sludge) which has lower salinity and (2) actual sludge from Perth Seawater
Desalination Plant, Australia (PSDP sludge) which has higher salinity. These sludge were
dewatered using flat sheet as well as hollow fibre FO membranes to find the better type of
membrane for this application. Effect of membrane orientation, temperature, cross flow
velocity and pH of pre-treatment sludge on water flux was investigated. In addition, fouling
tendency of FO membrane during long term filtration was investigated. More over a novel
FO/RO hybrid system was proposed for this application in desalination industry.

Experiments and mathematical modelling proved that proposed FO/RO hybrid systems are
capable of reducing the volume of pre-treatment sludge. Flat sheet membranes showed a higher
water flux compared to hollow fibre membranes. At as is sludge pH (8), and ambient
temperature (~20 °C) the maximum water flux obtained through the flat sheet membranes was
around 3 LMH. The long-term filtration showed that membrane needs weekly backwashing to
enhance the water flux and the inorganic fouling is reversible as a thin loose layer of metal
deposits observed on the filtered membrane surface. With this application, sludge volume can
be reduced up to 72% using a FO membrane area of 500 m2. This reduces the solids content of

sludge from 3% to 10.7% and increases the overall RO recovery from 45% to 50%.

9.2 Recommended future work
Feed sludge can be combined with secondary wastewater (WW) effluent. If feed sludge to the
FO is combined with a secondary WW effluent, that could increase the water flux through the

FO system. This would increase brine dilution as well as the recovery through RO.

In this study fouling of FO was investigated in terms of reduction in water flux. However, the
major fouling elements (such as Ca?*, Fe**, etc) in RO brine and pre-treatment sludge can be

identified and then run the FO system, would give a very clear picture of the fouling on FO
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during sludge dewatering. This would be one of the recommended future work related to this

study.

This research used commercially available CTA flat sheet and PA hollow fibre membranes to
check the pre-treatment sludge dewatering capacity. However, both membranes gave a
significantly low water flux, as low as 3 LMH. Therefore, surface modifications of the FO
membrane to increase the water flux further could be another recommendation. For example,
for FO flat sheet CTA membranes are manufactured with dense and a support layer. Therefore,
ways of removing the porous support layer (which will then avoid the ICP effect hence lead to

significantly higher water flux) could be investigated.

Developing a menu driven program for the proposed FO/RO hybrid system is another future
work. This is currently being conducted using Mat Lab, Excel and Visual basic software by

other members of the research group that | worked with during my PhD study.
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Appendices

Chapter 3 related appendices

Table Al: Jar test conducted to find the optimum coagulant dose.

Volume Settled water turbidity (NTU)
Dosage | of FeCl; | Coagulant Settled EC TDS
(mg/L) | added/ | added pH | sample 1 sample 2 sample 3 water | (mS/c (ppm)
mL (after 30 min) | (after 1 hr) | (after 1.5 hr) P m)
5 1 7.85 1.07 0.40 0.42 7.91 50.6 | 33902
10 2 7.97 0.76 0.55 0.54 8.00 50.9 | 34103
15 3 7.73 1.12 0.67 0.45 7.78 51| 34170
20 4 7.55 1.00 0.44 0.41 7.61 50.9 | 34103
25 5 7.33 2.54 0.53 0.32 7.43 50.9 | 34103
30 6 7.25 1.72 0.38 0.43 7.33 50.9 | 34103
DMF filtration test
minimum container volume= 100 L
mL/mi
Q= 250 n
total run time= 400 min
Back wash rate was adjusted manually so that sand will not pass through the
outlet.
after test, washed container and pump with tap water to prevent from corrosion.
DMF data mm
depth of sand bed 300
size of sand grains 1
porosity of sand bed 0.4
depth of anthracite bed 400
size of anthraciste particles 2
porosity of anthracite bed 0.45
influent turbidity 29.1 NTU 35.2 30.2 219
mL/
flow rate 250 min
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Filtrate properties

Condu
ctivity
Turbidity T (mS/c
Collected time (hours) (NTU) pH (oC) | m)
(before
coagulant
0 | addition) 0| 7.28 | 19.6 38.2
(after coagulant
0 | additon) 1.53 | 7.44 | 20.2 40.9
1 031| 7.72| 19.9 44.1
1.5 0.32
2 045 | 7.77 | 20.1 44.3
2.5 0.49
3 034 | 7.79 | 20.1 43.8
3.5 0.69
Average values
Intake seawater 29.1 | 8.42 | 20.0 44.5
Filtrate 045 | 7.68 | 21.2 44.7
Sludge 751 | 211 13.8
20.2
After DMF treatment;
Total collected filtrate volume™ 30 L
Total collected Sludge volume™ 7 L
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Chapter 4 related appendices

Effective diffusion coefficient calculations

NOTE: For the specimen calculation, the pure K, SO, 30mg/L data from Table 14;

Water flux, ], can be calculated using equation (1) (theoretical) or can be obtained experimentally.

In this study J , was obtained experimentally (/, ) and reported in Table 1, in Section 3.1.
Therefore ], =2.08 LMH (ALFS mode)

And,]w =3.15 LMH (ALDS mode)
Jw
J,, = Aa[rp yexp(—], Kp) — mppexp(— ;)] (4)

Since the feed solution used in this study is distilled water, above equation can be rearranged as;

Kp= —2r (10)

Substituting known values from Table 14;

2.08 3
_ In(Ceeg52709) *3600%10
Kp =

—2.08

K, =187 *10° (s/m)

Similarly, equation (5) can be rearranged as;

-/
ky; = - 11
A (11)

A”D,b

Therefore, substituting known values,
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—3.15% -3
ka = T)*lo /3600

In(S 35852700

k,=131%10"° (m/s)

Once k,; and K, calculated,

kqtt
Doy =~ . (8)
kg dp e .
Also, Deff == substituting at equation 8;
kq dp
Defs =

4 033
1.85 (Re*Sc*T)

'."Daff = 4.30 * 10_7

Similarly, effective diffusion coefficient for each salt was calculated and given in the chapter.
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Chapter 5 related appendices

The results in Table 16 and Table 17 are obtained using the step by step calculations shown in Figure
Al. These calculations will be included in the appendix section. Yellow highlighted cells are the inputs
to this excel sheet.

Further A value was obtained experimentally and given below in Figure A2. To obtain A, water flux at
different pressure values were obtained through a RO type experiment. Water flux vs pressure
difference was plotted, and the gradient of the curve gives the value of A.
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10 L 03m 0.5] 0.657543| 3.994707672| 6.2215148] 1.83E-07 1.11E-06 1.73E-06| 1.35E-07| 7.74E-07| 1.58E-06| 4.85E-01| 2.78E+00)  5.68E+00
11 |Re 2542.5506 Turbulent flow 1] 1.060754| 4.266350393| 5.8885339 2.95E-07| 1.19E-06| 1.6357E-06] 1.36E-07| 7.85E-07 1.62E-06] 4.88E-01| 2.83E+00 5.83E+00
12 |Dmgcl2 1.164E-09 1.187*E-9  1.18E-09 1.17E-09 1.16E-09 1.16E-09 1.16E-09 1.16e-09 1.16E-09
13 |DNaCl 1.33E-09 These D values are from literature. | have averaged all of the values
14 Flux exp Fluxtheo
15 |Sc 1.268E+03 102 0.48 o 0 8
16 0.66 0.49 1 1
17 |sh 1.514E+02 For turbulent flow 1.06 0.49 2 2| 6
18 |sh 61.216803 For Laminar flow 4.26 272 3 3| E
19 3.99 2.78 a 4 Fa
20 |k-FO 5.368E-05 4.27 2.83 5 5 »
21 |k-PRO 4.696E-05 6.03 5.45 6 6 2
22 |K*D-FO 3.60E-04 Already determined by McCutcheon and Elimelech for M1 Table 1 6.22 5.68 7 7 s
23 K*D-PRO 2.98E-04 Already determined by McCutcheon and Elimelech for M1 Table 1 5.89 5.83 8 8| 0 P 2 5 3
= EXP
25 |K-FO 3.09E+05
26 |K-PRO 2.24EH05
27
28 Eqn 16 Eqn12
29 FO Jw iniital 2.84E-07 PRO 1.64E-06
30 Jw 1.66E-06 1.62E-06
Eal 9.55E-07 1.62E-06
32 1.28E-06 1.62E-06
33 1.12E-06 1.62E-06 .I
34 1.20E-06 1.62E-06
35 1.16E-06 1.62E-06
36 1.18E-06 1.62E-06
37 1.17E-06 1.62E-06
38 1.17E-06 1.62E-06 hd
| Mgcz @ | MgCl2 | Nacl | sheetz | (& [l v
y - ] o o- 1 + 100%
3 | | | | |
€ 8 K% o NS "R "R Do

Figure Al: Calculations of theoretical water flux
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water fulx (g/min) Flux
500 kPa 600kPa 700kPa 800 kPa Pressure (kPa) 500 600 700 800
Pressure (bar) 5 6 7 8
0.13000] 0.21000{ 0.18000| 0.23000 Flux 3.40578479| 5.501652| 4.715702| 6.025619
0.17000| 0.18000| 0.23000| 0.32000 4.453718572| 4.715702| 6.025619| 8.38347
0.15000] 0.20000| 0.18000| 0.25000 3.929751681| 5.239669| 4.715702| 6.549586
0.19000] 0.18000| 0.25000| 0.29000 4.977685463| 4.715702| 6.549586| 7.59752
0.15000{ 0.19000{ 0.21000| 0.29000 3.929751681| 4.977685( 5.501652| 7.59752
0.16000| 0.21000| 0.22000| 0.24000 4.191735127| 5.501652| 5.763636| 6.287603
0.17000| 0.21000| 0.25000| 0.24000 4.453718572| 5.501652| 6.549586| 6.287603
0.15000]| 0.23000] 0.19000| 3.929751681 6.025619| 4.977685
0.19000| 0.23000] 0.28000| 4.977685463 6.025619| 7.335536
0.15000 0.22000| 0.20000 3.929751681 5.763636| 5.239669
Average flux (LMH) 4.217933471| 5.164816| 5.763636| 6.628181
Average flux (m3/m2.s) 1.17165E-06| 1.43E-06| 1.6E-06| 1.84E-06
0.000002
y = 2E-07x »
0.0000018 R?=0.9887 /
0.0000016 /
0.0000014
é 0.0000012 2%
~
g 0.000001
% 0.0000008
0.0000006
0.0000004
0.0000002
0
0 2 4 6 8 10
pressure difference

Figure A2: Calculations of permeability coefficient, A.
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pouch
catridge

Area of the membrane
0.00229022

From graph; y=2*10-7x

therefore,

A 2.00E-07 m/s. Bar
1.20E-05 m/min.bar

McCutcheor 5.06E-12 m /Pas
5.06E-07 m/s. Bar
3.04E-05 m/min.bar

Wollongong

Al 0.745 L/m2.h/bar

A2 1.13 L/m2.h/bar

2.06944E-07 m/s. Bar
3.13889E-07 m/s. Bar



Chapter 6 related appendices

vd
Re=p—
U

Re xu Q@

v = = —

pd A

At 1000 and 2000 Re values, the required flowrate was calculated using the p and p values given in
Table 18. For example, for Na,SO4 solution;

1000 x 0.00112 Q
1557 x 0.0009 7 X 0.452 x 10~

Where, Radius of the hollow fiber membrane is 0.45 mm. therefore, the required flow rate of Na,SO4
solution to obtain a 1000Re is,

Q =0.31/min
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Chapter 7 related appendices

EDX images of the 8-weeks trail.

Major 12 elements found on the membrane feed side surface is given below.

Electron Image 6

. Map Sum Spectrum
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Figure: (a) SEM image (b) EDX spectrum of feed side membrane (c) to (n) main 12 elements found
on the membrane surface through EDX analysis.
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Draw side membrane surface image and the elements found on it are given below.

Electron Image 7
> 7

B Map Sum Spectrum

Au
LR T (R Y R R I I R R S R R T R |

15 20 25 30 35 kel/

Cl Kal Ca Kal

25pm !
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O Kal

Mg Kal_2 K Kal

f 25um ! ™ 25um f !

25pm

C Kal_2 Fe Kal Au Lal

J 25pm 25pm f 25pm

Figure: (a) SEM image (b) EDX spectrum of draw side membrane (c) to (k) main 12 elements found
on the membrane surface through EDX analysis.

TOC results of the 5-weeks trial

TOC (Data from set up 2) of 5 weeks trail
18
16 |
14 “’V_T"’.‘.
_ 1 4.‘-‘-’4.'—-
£ 10 L
2
§ 8 N e M Draw
6 g gl Feed
|
4 [ |
2
0
24-Jul 29-Jul 3-Aug 8-Aug 13-Aug 18-Aug 23-Aug 28-Aug
Day

Figure: TOC of feed and draw solutions after filtration during 5 weeks filtration.
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Table: TOC of feed and draw solutions after filtration during 5 weeks filtration in ppm.

Daily TOC results Feed Draw
Sample date Setupl Setup2 Setup3 Setupl Setup2 Setup3
29-Jul 10.3 9.23 8.96 16.9 15.7 7.5
30-Jul 13.5 13.1 13.3 12.3 11.2 11.6
31-Jul 14.1 16.6 12.9 12.2 12.4 11.5
1-Aug 12.8 12.3 12.6 12.4 11.9 13
2-Aug 135 121 12.7 12.3 115 11.8
3-Aug 12.8 12.7 12.1 13.2 12.5 111
4-Aug 14.2 12.3 12.7 11.7 111 11.3
5-Aug 13.5 13.2 12.6 12.4 11.9 11.7
6-Aug 13.4 125 125 111 10.5 10.8
7-Aug 135 125 125 121 115 11.3
8-Aug 17.9 154 15.3 14.4 13.8 13.9
9-Aug 16.1 14.4 15 14.5 13.9 14.6
10-Aug 155 13.8 141 142 135 14
11-Aug 155 13.8 13.6 13.9 13.9 13.7
12-Aug 15.7 14 141 13.8 13.3 135
13-Aug 16.1 14.3 14.4 141 13.7 13.9
14-Aug 7.32 6.89 6.98 5.39 6.38 6.78
15-Aug 7.01 6.07 6 5.44 6.1 5.79
16-Aug 7.18 6.65 6.75 5.8 5.79 6.17
17-Aug 7.37 5.69 6.23 5.08 5.75 5.48
18-Aug 6.37 5.4 5.39 4.96 441 5.13
19-Aug 6.79 6.38 6.77 5.69 6.07 5.96
20-Aug 8.53 7.64 7.49 6.27 5.81 6.64
21-Aug 7.04 7.19 7.36 6.26 6.88 6.94

147



22-Aug 6.68 6.58 6.72 5.57 6.03 6.43
23-Aug 1.27 5.76 6.74 5.35 6.1 5.2
24-Aug 6.16 5.97 6.26 5.58 5.27 5.25
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Table: EC of feed and draw solutions after filtration during 8 weeks filtration.
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Chapter 8 related appendices

EPC cost calculations

Engineering, Procurement and construction cost (EPC) cost

Approach 1 (water reseach ref) texas reference Approach 2 (texas reference)
SWRO RO/FO hybrid system FO stand alone system SWRO

LSP SSP LSP SSP LSP SSP LSP SSP
Total cost
Procduction capacity of the plant (m3/day) 153,000 6,750 155,040 7,440 130 72 153,000 6,750
Equipment and materials 46,167,750 2,036,813 46,783,320 2,245,020
membranes 10,156,905 448,099 10,292,330 493,904
pressure vessels 2,770,065 122,209 2,806,999 134,701
pumps 13,480,983 594,749 13,660,729 655,546
energy recovery 3,693,420 162,945 3,742,666 179,602
piping and high grade alloy materials 23,083,875 1,018,406 23,391,660 1,122,510
others 85,318,002 3,764,030 86,455,575 4,148,797
Equipment and materials + memrbanes 30.5% 30.5% 30.5% 30.5% 2,136,566 1,837,523 4,845,192
Construction 69.5% 69.5% 69.5% 69.5% 3,839,133 3,466,185 18,275,724
Process Egiupment cost 1,436,566 1,242,523
Mechanical (piping) 300,000 200,000
Instrumentation and control 300,000 300,000
Electrical csosts 100,000 95,000
Total cost (USD) to produce water 184,671,000 8,147,250 187,133,280 8,980,080 5,975,699 5,303,708 23,120,916
Total O&M cost 220,251 174,284 3,131,967
Total 0.739 0.739 0.739 0.024 0.481 2.098
CAPEX amortization 0.288 0.288 0.288 0.009 0.188 0.818
OPEX 0.451 0.451 0.451 0.01 0.29 1.28
Energy 0.281 0.281 0.281
maintannce 0.089 0.089 0.089
chemicals 0.037 0.037 0.037
labour 0.022 0.022 0.022
membrane replacement 0.022 0.022 0.022

Mass balance calculations

Specimen calculations for a LSP

‘ Assumptions;
100% RO rejection
Intake flow rate 340,000 | m3/day
Backwash water flow rate 275.000 | m3/day
RO 1 recovery 50 %
RO 2 recovery 90 | %
Overall recovery (Without FO) 45 | %
Flux through FO 6 | LMH
Nominal membrane surface area of 8 inch spiral wound
modules 18.13 | m?
Initial Solids content of sludge 4| %

salt transport through FO is negligible.
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Calculations

For FO system

Total amount of sludge per day
Assume backwash frequency is 4
times a day

backwash cycles per day
Therefore every 6 hours the amount of sludge

NG m3/cay
- cycles/day

received 68.75 m3/cycle

Therefore, we can recirculate 6 hours through FO system to get the

maximum flux

Flux through

FO 6 LMH

Recirculation

time 6 h

Therefore, flux through FO in one

circle 36 L/m2

Total Total Final

membrane Total permeate permeate Sludge volume | # of Solids

area required | through FO per day reduction modules content

(m2) (m3/cycle) (m3) through FO (%) | needed (%)
100 3.6 14.4 5.2% 6 4.2
200 7.2 28.8 10.5% 11 4.5
300 10.8 43.2 15.7% 17 4.7
400 14.4 57.6 20.9% 22 5.1
500 18 72 26.2% 28 5.4
600 21.6 86.4 31.4% 33 5.8
700 25.2 100.8 36.7% 39 6.3
800 28.8 115.2 41.9% 44 6.9
900 324 129.6 47.1% 50 7.6
910 32.76 131.04 47.7% 50 8
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Feed (Sludge)
Q. s

|_> permeate Cp, Qp
Qi
Sy
Qc, Ce L Draw solution Qd, Cd
Concentrated -
Sludge

Salt balance for FO system;

Qd*Cd+Qf*Cf= Qc*Cc+Qp*Cp

For System 1 where filtered seawater used to backwash the pre-treatment
system;

Qd*Cd=Cp*Qp

Cp= Qd*Cd/Qp

Cp= Qd*Cd/(Qd+Jw)

Assume Cd~2 Co (if recovery is 50 %)

Cp=Qd*2*Co/(Qd+Iw)

If Qd is equal to Qf; Qd=2Qf: Qd=4Qf: Qd=8Qf Qd=16 Qf .........c.c..........

Sand Desalting
Filtration (RO)
> CO, Qin .gR L
Qro1
B Cp, Qo B
1

CRO1= (CoQin+Cp*Qp)/(QRO1)
If Qd is equal to Qf : Qd=2Qf: Qd=4Qf: Qd=8Qf Qd=16 Qf ......................
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Never doubt that a small group of
thoughtful, committed citizens can
change the world; indeed, it's the
only thing that ever has.
-Margaret Mead
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