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ABSTRACT

Process Synthesis and Optimization of Biorefineoyf@urations. (August 2011)
Viet Pham, B.S., University of Technology, Ho Chintd City, Vietnam;
M.S., Texas A&M University
Chair of Advisory Committee: Dr. Mahmoud El-Halwagi

The objective of this research was to develop nawel applicable methodologies to
solve systematically problems along a roadmap ofstacting a globally optimum
biorefinery design. The roadmap consists of théowahg problems: (1) synthesis of
conceptual biorefinery pathways from given feedstoand products, (2) screening of
the synthesized pathways to identify the most ecoa@athways, (3) development of a
flexible biorefinery configuration, and (4) techeoenomic analysis of a detailed
biorefinery design.

In the synthesis problem, a systems-based “forwackward” approach was
developed. It involves forward synthesis of biomasspossible intermediates and
reverse synthesis starting with desired productk idantifying necessary species and
pathways leading to them. Then, two activities pegformed to generate complete
biorefinery pathwaysmatching(if one of the species synthesized in the forwstep is
also generated by the reverse step)inberception (a task is determined to take a
forward-generated species with a reverse-generspedies by identifying a known
process or by using reaction pathway synthesigmkad two species.)

In the screening problem, the Bellman’s PrincipfeQptimality was applied to
decompose the optimization problem into sub-proklemwhich an optimal policy of
available technologies was determined for everywemsion step. Subsequently, either a
linear programming formulation or dynamic programguialgorithm was used to
determine the optimal pathways.

In the configuration design problem, a new clasdesfign problems with flexibility
was proposed to build the most profitable plantst thperate only when economic



efficiency is favored. A new formulation approactithvproposed constraints called
disjunctive operation mode was also developed lieegbe design problems.

In the techno-economic analysis for a detailed gitesif biorefinery, the process
producing hydrocarbon fuels from lignocellulose \te carboxylate platform was
studied. This analysis employed many state-of-the-ahemical engineering
fundamentals and used extensive sources of putllidaéga and advanced computing
resources to yield reliable conclusions to the ysisl

Case studies of alcohol-producing pathways fronmdagllulosic biomass were
discussed to demonstrate the merits of the propappdoaches in the former three

problems. The process was extended to produce ¢texdron fuels in the last problem.
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CHAPTER |
INTRODUCTION

With the growing attention to sustainable developtnthe concept of biorefineries
is gaining an increasing attention. A biorefinesya processing facility that receives
biomass feedstocks and produces one or more chigmnichucts and/or biofuels through
a system of physical/chemical/biological process@fie resurging interest in
biorefineries has been motivated by the dwindliogsfl-fuel resources and increasing
attention to strategies that reduce greenhousexgéssions. Several lab-scale concepts
have been developed to produce biofuels; howekieretare still very few biorefineries
that have been commercialized to meet the techapesaic criteria for biofuels.

Well-developed approaches to the synthesis of imapathways are not suitable for
problems of biorefinery design which have speatfi@racteristics. Recently, a certain
processing platform is usually chosen based onlop&es interest, preferences, and
experience without a thorough analysis or systemapproach to determine the best
option. Although the development of the chosenasptian lead to feasible biorefineries,
the economic may not be viable. More importantwrbiorefinery configurations with
better performance may not be generated. There d¢sitigal need to quickly and
methodically generate cost-effective and innovaliseefinery configurations.

The objective of this research is to develop narel applicable methodologies to
systematically solve the problems along a roadnfagostructing a globally optimum
biorefinery design. The roadmap consists of thdowahg steps: (1) synthesis of
conceptual biorefinery pathways from given feedstoand products, (2) screening of
the synthesized pathways to identify the most ecoa@athways, (3) development of a
flexible biorefinery configuration, and (4) techeoenomic analysis of a detailed
biorefinery design. The approaches to first twgsteill be developed in Chapter II.

The third and fourth problems will be addresse@Ivapters Il and IV, respectively.

This dissertation follows the style AIChE Journal



CHAPTER I
PRELIMINARY SYNTHESIS AND OPTIMIZATION
OF BIOREFINERY PATHWAYS

2.1 Introduction

Recently, there has been a growing interest inrarebeand development activities to
develop technologies leading to cost-effective wat#e energy. Traditional approaches
to the design of biorefinery configurations usually not lead to a globally optimum
solution whereas systematic approaches developed similar process system
engineering problems are not well suited for bioesfy design.

A common approach to the design of biorefinery mumhtions is to start with a core
conversion technology, which is usually locatedha front end of a biorefinery (e.qg.,
pretreatment, hydrolysis, fermentation, digestigasification, and pyrolysis), then add
pre-processing and post-processing units for feekstpreparation and product
separation and upgradation. Another common appréat¢b scale up the same units
developed at the laboratory scale and revise tleeegs configuration based on the
practical aspects of large-scale production. Algiouhese approaches can lead to
process configurations that work, their overall fpenance may not be attractive.
Furthermore, they may severely hinder innovationew configurations.

This chapter proposes a novel two-stage approatetsynthesis and optimization
for the design of biorefinery configurations. Inetlsynthesis work with specified
feedstocks and products, possible pathways aréedréa include conversion steps that
are based on proven reactions or available tecgresio A pathway synthesis method
referred to as the “forward-backward” approach ngroduced. It involves forward
synthesis of biomass to possible intermediatesewvetse synthesis starting with desired
products and identifying necessary species andwagth leading to them. In the
optimization work to determine an optimal configioa from the synthesized pathways,

a preprocessing step of selecting an optimal palicevery conversion step of the



pathways is performed. This preprocessing stepcexiuhe size of the subsequent
optimization calculations.
2.2 Problem description

The problem can be described as follows: Giventaoké®iomass feedstocks with
known flowrates and characteristics and a desirea product with specifications, it is
desired to develop a systematic methodology to rg¢émeoptimal configurations from
feedstocks to products. Available for service iseh of conversion technologies with
known performance. Various objectives may be carsd such as the highest yield, the
highest energy efficiency, the shortest route (&t number of processing steps), the
minimum-cost route, or the most sustainable roate dharacterized by sustainability

metrics). Figure 1 shows the inputs and outputh@problem.

Given feedstocks Optimal biorefinery Given products

(biomass) > configurations? —> (fuels and chemicals)

Figure 1. Schematic problem description.

2.3 Literaturereview

Several important pathways to produce transportafieels and chemicals from
biomass can be found in literature. Huber et ptovided a review of current and
possible future pathways for obtaining transpastatfuels. Kamm and Kammand
Fernando et dl.reviewed product trees of four biorefinery systerignocellulosic
feedstock biorefinery, green biorefinery, wholercdmorefinery, and biorefinery with
integration of thermochemical and biochemical piatfs. Fernando et alproposed an
integration between biorefineries and petroleunmnegies to produce 12 potential
chemicals in addition to conventional fuels.

Databases of biomass-derived chemicals were des@lap National Renewable
Energy Laboratory. Werpy and Peterfsesported a large collection of chemicals that



can be derived from sugar and syngas. Holladay.etnade a similar effort to find the
most promising chemicals derived from lignin.

Various techniques have been developed for reapidimway synthesis. The earlier
work in the 1970’s was reviewed by Agnihotri and tiftof and Nishida et dl.Proposed
techniques in that period included matrix syntheajsproact{, symbol triangle
approach, retro-synthesis approa¢h,* minimum Gibbs free energy approaéhand
geometry synthesis approachThe approach using Gibbs free energy was further
developed in the 1980%:**°In the 1990’s, environmental aspects were incaigat in
the synthesis of reaction pathwd$s® Recently, optimization-based approacfiédand
an evolutionary technig@efor reaction path synthesis were introduced.

A systematic approach to the synthesis of optinm@kefinery pathways was reported
by Bao et af?> The approach is based on developing a supersteuciuconversion
technologies and resulting intermediate chemichiEntusing a tree-branching and
searching technique to determine candidate pathways

Several papers have focused on the techno-econammaigsis and optimization of
specific production pathways such as ethdrbdi, biodiesef** mixed alcohols and
transportation fuel¥>*? and energy>** There is also research to establish processing
routes with minimum energy consumption prior taablshing the optimal products™
3" Elms and El-Halwadf introduced an optimization routine for feedstoelestion and
scheduling for biorefineries and included the impafcgreenhouse gas policies on the
biorefinery design. Pokoo-Aikins et Hlincluded safety metrics along with process and
economic metrics to guide the design and screesfibgprefineries.

The optimization problem to determine the bestwathfrom the synthesized ones
has been investigated by several researchers. @ption has been performed based on
yield > entropy analysi& optimization frameworK* and modular platforrf? Ng** used
a pinch analysis for an automated targeting proetiufind the highest production rate
and revenue without a detailed design of biorefaserAlvarado-Morales et &l.applied
principles of group-contribution to predict pureag@onent properties to simultaneously

model, design, and synthesize biorefineries.



2.4 Proposed approach
The proposed approach involves synthesis and ggtion tasks. The following are
the main steps:
* Forward and backward branching
* Matching
» Screening
» Selecting optimal policies between each two conseznodes
* Optimizing pathways
These steps are explained in the ensuing sections.
2.4.1 The synthesis problem

To avoid generating complex (and potentially impicad) configurations, the
number of conversion steps in the synthesis proldeimited to five. Each conversion
step is a reaction system (a reactor or a setauftoes), followed by separation units
necessary to purify the produced chemicals to qp@i@ levels for the next conversion
steps. Pretreatment of lignocellulosic biomassas aounted as one of the conversion
steps. The synthesis approach involves forward hegid of biomass to possible
intermediates and reverse synthesis starting Wweltdesired products and identifying the
necessary species and pathways leading to thente e feedstock-forward and the
product-backward pathways are synthesized, twoviaes are performedmatching
(which corresponds to direct connection of two sgd one of the species synthesized
in the forward step is also generated by the baakw#ep) andnterception(which
refers to the addition of a conversion steps tovedna forward-generated species to a
backward-generated species). The interception taal be detailed by identifying
known processes to achieve such conversion or img usaction pathway synthesis to
link the two species.

Figure 2 illustrates an example of the branchireedr Each node represents an
intermediate compound (i.e., a species) and eaclepresents a conversion step. In the
forward branching problem, the branching startsnfrine feedstock node. The nodes
connecting to the feedstock node are compoundsc#mbe directly produced from the



feedstock through one conversion technology. Twwdod steps are allowed from the
feedstock. For example, a carbohydrate feedstonkbeaconverted into methane (by
digestion), sugar (by enzymatic hydrolysis), syn@gakich is a mixture of carbon
monoxide and hydrogen, by gasification), etc. Thetrayer of nodes lists compounds
that can be produced from the compounds at thequewodes. For example, acetylene
is produced from methane (by cracking). This idechthe “forward problem" because
the branching direction is co-current with the m®sging flows.

In the reverse problem, the branching originatemfthe final product node and is
countercurrent to the processing flows. Two backisteps are taken from the final
product. For example as shown by Figure 2, nodenBethane (gHsBr) connects to
node Ethanol because bromoethane can be hydroly#ed ethanol. One of the
chemicals that can be used to produce bromoettgnieyfirobromination) is ethylene.

Next, nodes from the forward branching tree andhftbe backward branching tree
are connected in one of two waysatchingor interception An example ofmatchingis
when sugar appears as both a forward node andkavaat node (see Figure 2). By
connecting the two sugar nodes, a pathway is aefuten biomass to ethanol. An
example ofinterceptionis the use of hydrogenation step (see Figure 2ptmect nodes
Acetylene (GH,) and Ethylene (&H4), making another complete pathway from the
biomass to the ethanol.

As a result of the synthesis problem, one or morapiete pathways connecting a
feedstock and products are found. Although basedkmown building blocks, the
generated pathways can be novel because of thrcamnections. The generated
pathways can also be quickly constructed and setkdrigure 3a is an example of a
superstructure of synthesized pathways. Letteredlemorepresent intermediate
compounds. Between each two nodes, there can be than one pathway (e.g., the
pathway from Feedstock to E) or arc (e.g., A-G, DEEH, and F-I). It is useful to
identify optimal pathways between nodes, whichasaidibed in the next section.
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Figure 2. Forward and reverse branching trees.
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Figure 3. A superstructure of synthesized pathways repraggenabnversion
technologies (arcs) and intermediate chemicalsgg)pd

(a) with all brainstormed arcs and nodes,
and after applying the principle of optimality tathways connecting:

(b) every pair of adjacent nodes,

(c) Feedstock — C,

(d) Feedstock — E,

(e) D — Product.



2.4.2 ldentifying optimal routes between nodes

In this proposed approach, a parameter-optimizattep is performed first. In this
step, a set of design parametess is designated for each conversion technolothat
produces specias from species. The objective is to optimize the objective valugs

as follows:
Problem R ;:
[ =MinY () for everyt 1)
subject toh(x,,) <0 (2)
I( %) =0. (3)

The objective function of this optimization problemay be defined as the
conversion step with the highest yield, the highestrgy efficiency, the simplest, the
minimum cost, the maximum profit, etc. The constimbf the formulation include:

» Key performances of processing technologies: ymddyersion, etc.

* Mass balances

* Energy balances

» Capital cost

» Operating cost
In this step, detailed analysis can be performedguavailable data and/or appropriate
levels of simulation.

It is not uncommon to have multiple routes conmertiwo adjacent nodes. To
reduce the complexity of the design problem, iuseful to determine optimal routes
among the nodes. In this context, it is proposeduse Bellman’'s Principle of
Optimality** to decompose the optimization problem into sevetdd-problems. The
Principle of Optimality follows* “An optimal policy has the property that whatetiee
initial state and initial decision are, the remagdecisions must constitute an optimal

policy with regard to the state resulting from tist decision.”
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For network problems of the type addressed herdghé biorefinery pathway
synthesis, the principle of optimality may be stass follows* “There exists a policy
that is optimal for every node.”

Hence, an optimal policy is first identified for garoblems. Each subproblem
corresponds to identifying the optimal conversimute between a pair of nodes.

Specifically, two types of subproblems are consder

» Arcs directly connecting two adjacent nodes (dlg, three arcs connecting
nodes F and I in Fig. 3a).
Problem R:

rnn' = rrltln rntn‘ (4)

where ,, is the objective value of the optimum arc connegtino adjacent
nodes,
I« 1S the objective value of the arc using technolbggd connecting
the two adjacent nodesandn'.
* Routes connecting two non-adjacent nodes throuffbreint intermediates
(e.g., in Figure 3a, nodes Feedstock and E corheti®ugh the route

Feedstock-C-E versus the route Feedstock-B-D-E).
Problem R 3:

i =minf () )

where r; is the objective value of the optimum route conimgctwo non-
adjacent nodeisandj by combination of adjacent acrs '),
lw IS the objective value of the optimum arc connectimg t

adjacent nodes andn'.
As a result of solving Problemsg £and R 3, optimal policies are determined and the
superstructure is simplified to one of the levedsshown in Figure 3b — e. This is done

prior to solving the superstructure-optimizationlgem.
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Next, an optimal configuration from the synthesiaed locally optimized pathways
(the simplified superstructure) is determined byvisg either a linear programming
formulation or dynamic programming algorithm. Asr fthe approach of linear
programming formulation, the following problem mh&ed:

Problem R 4

o =minf ;) (6)

where Iy, is the objective value of the optimum pathway conmectiodes Feedstock
and Product,

r; is the objective value of the optimum route corimgctwo non-adjacent

nodes and;.

If the objective functions are non-linear, Probl®gg is difficult to solve for global
optima. In such cases, the following approach afasyic programming is preferred
because it is guaranteed to obtain the global @ptifhe approach of dynamic
programming algorithm is based on the functionailatigpn:

Problem R

r1n' = mnin f (rln 'r nn') (7)

where 1, and r,, are the objective values of the optimum routes eoting nodes
Feedstock A and Feedstock R respectively,
n andn' are two adjacent nodes and the path direction-sn'.
Using the functional equation,,. can be determined ondg is known for everyn
andn' such thatr, n') is an arc. The algorithm starts from the first@gFeedstock) and
ends at the last node (Product). This algorithoalked forward optimization in dynamic

programming. The reverse algorithm that starts frim@ last node and is similarly

developed is also applicable.
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2.4.3 Framework

The proposed framework for the synthesis and optitin of biorefinery

configurations is shown in Figure 4. Starting fréine input information on feedstock

and products, the following steps are performeskiuence:

1.

Forward and backward branching These two branching steps enumerate as
many intermediate compounds (and associating ceiorertechnologies) as
possible. Those compounds can be produced fronfeidstock (in forward
branching problem) or converted into the final pretd(in reverse branching
problem).

Matching.Some of the branches of the two trees are cormhéatgield complete
pathways (from the feedstock to the final produmt)identifying the identical
intermediate compounds.

Interception When two compounds on the edging layers of tlaaditing trees
are not connected, it is possible to identify kngwocesses or reactions that will
link the two compounds. This is referred to asérmeption.”

ScreeningBased on simple technical and economic analylsissstep eliminates
the synthesized pathways that are too complexmibdynamically infeasible,
economically infeasible, or have too low yields.eTalimination reduces the
work load in the next steps without sacrificingioyl pathways.

Optimizing parametersBefore solving the superstructure-optimizationlpem,
the design parameters are optimized for every sgibd pathway in this
optimization step. Analyses (include simulation aadhno-economic analysis)
can be performed at different levels of details.

Optimizing policies between two nod&ased on the connectivity between the
nodes, two types of subproblems are solved: adjao®th non-adjacent. For the
former subproblem, technologies that process theesaodes are compared for
the identification of an optimal one. However, theran be cases in which a
series of conversion steps are considered at the sane for a global optimum.

For these cases, the latter subproblem is solvedged on the principle of
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optimality, this step reduces the number of syntees pathways without

affecting the final results of the optimization plem.

Synthesis stage

2 )
Feedstock Products
—_ -
I A v o
/| Forward S Matching ke Backward | !
' | branching - 9 branching | :
i 4 E
Interception

Screening

\ 4
Optimizing
parameters

A 4
Optimizing policies
between nodes

Optimizing
pathway

Optimization stage

A 4

Biorefinery
configuration

Figure 4. Framework for the synthesis and optimization of&iinery

configurations.
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7. Optimizing pathwaysEither a linear programming formulation or dynami
programming algorithm is used to determine thenogkiconfiguration from the
superstructure of synthesized pathways.

These steps are categorized into two stages: sjatbage (which includes the first
three steps) and optimization stage (which includesemaining four steps). The output
of the framework is a biorefinery configuration whiis technically feasible and
optimum according to the given data. The configaratcomprises not only the
optimized pathways between feedstock and final yets] but also some open branches
connecting to the pathways which represent by-prbproduction.

2.5 Case study

It is desired to synthesize pathways that produgel-drade alcohols from
lignocellulosic biomass and to determine the most-effective pathway. The proposed
procedure for the solution is applied as describgtle ensuing steps.

First, the branching and matching were performedtre® of forward branching
search from the feedstock was constructed. Thestteecks the compounds that can be
produced from the lignocellulosic biomass withinotwonversion steps. Another tree
starting from the bio-alcohol node was built to erwate compounds from which the
bio-alcohols can be derived. The enumeration inhedicection is limited to two
conversion steps to avoid an unnecessarily exmaubtind search. After the branching
searches were done, the matching and interceptaps svere performed to identify
complete pathways. Figure 5 shows a part of the livemching trees with identified
complete pathways. Compounds, associating convexrsend unmatched branches are
not presented for a clearer presentation. In tinerdéis of synthesized pathways, it is not
necessary to note to which layer a specific comgooelongs. The left-hand side of
Figure 5 collects biochemical pathways whereas oieer side collects mostly
thermochemical routes. The upper half (which isvfrends of biorefineries) includes

biological conversions whereas the lower half imeslchemical conversions.
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Conversion technology legend:

(2) Mixed-culture fermentation
(3) Acid hydrolysis

(4) Cellulase hydrolysis

(5) ABE fermentation

(6) Pyrolysis

(7) Gasification

(1) Mixed-culture fermentation Lignocellulosic
biomass

(8) Landfill

(9) Digestion
(10) Esterification Ammonia Calciu
(11) Acid springing carboxylate$

(12) Ketonization

(13) Acetongen fermentation
(14) Aqueous phase reforming
(15) Aqueous phase reforming
(16) Ethanol fermentation .
(17) Gasification Carboxylic
(18) Methanol catalytic synthesis
(19) Syngas fermentation

(20) Mixed alcohol catalytic synthesis Ethylene
(21) Methanation

(22) Autothermal reforming 4 (3\4

(23) Pyrolysis

(24) Chlorination 2f J Aldehyde |

(25) Esterification

(26) Hydrogenation
(27) Grignard synthesis
(28) Hydrogenation

lolg© ) O
fomo
< Chloro-

(35)/-ethane 37y

(29) Hydrogenation methane

(30) Hydrogenolysis Vi

(31) Indirect hydrolysis : '@'

(32) Hydration

(33) Hydrobromination

(34) Hydroformylation

(35) Hydrolysis

(36) Hydrogenation

(37) Hydrolysis

Figure 5. Part of the branching trees for the productiobiofalcohols from
lignocellulosic biomass.
Table 1. Technology arcs eliminated due to their low yields

Conversion steps Feed Product Yield Yield base repte
(6) Pyrolysis Biomass Syngas Max 29.2% Biomass lieig Goyal et af*
(14) Aqueous Sugar Ketones 23.7% Fed carbon Blommel and
phase reforming weight Cortright"’
(15) Aqueous Sugar Alcohols 8.7% Fed carbon Blommel and
phase reforming weight Cortright"’
(19) Syngas Syngas  Alcohols 53.1% Carbon monoxideiccolo and
fermentation weight Bezzd?®

(24) Chlorination Methane Chloro-methaneéMax 12% Methane weight  Schmittinger
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Lignocellulosic
biomass

Acetylene

(29)

Ethylene
(31) /(33) (34)
32
Bromo-
ethan Aldehyde

(35
(30

(36

Figure 6. The superstructure of synthesized pathways dfeestreening step.

Next, the screening step was performed. Proce§®ognologies 6, 14, 15, 19, and
24 are eliminated because of their very low yig(@able 1). Arc 37 is disregarded
despite its high theoretical yield because the@aog pathway is incomplete after the
elimination of Arc 24. In another case, Arc 17 lisnénated based on a simple economic
analysis (it is not economically feasible to obtayngas by performing expensive
hydrolysis® (Arcs 3 and 4), then drying the sugar solution gasifying the produced
sugar (Arc 17). The direct gasification of the fetedk (Arc 7) is obviously more cost-
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effective to produce the syngas because it empless equipment, conversion, and
separation steps. Note that although the routeshimg Arcs 3 — 17 and 4 — 17 are
eliminated, the Arcs 3 and 4 are kept becausedheyarts of other routes, for instance,
through the one involving Arcs 3, 14, and 28. Ipassible for an arc to connect the
feedstock and the product to form a pathway. Fangde, the pathway via Arc 5
comprises only one conversion step which is acebot@nol-ethanol (ABE)
fermentation (pretreatment as well as other treatraad separation are not considered
as conversion steps in this branching-tree pregsenjaFigure 6 shows the simplified
superstructure after the screen step is performed.

In this case study, the parameter-optimization sbepptimize the process designs
(Problem R ;) was not performed because the overall objectalees — production costs
— of most of the pathways could be found from techoonomic analyses in the
literature. In these techno-economic analysespopdtion of the process designs was
done to some extent.

The next step is to optimize the policy betweenasod'he technologies used for
adjacent nodes were compared to find the mosteftesttive ones (ProblemyB). These
pairs of technologies were considered: (Arcs 2728). and (Arcs 18 vs. 20). Then,
another type of subproblems (Problemg)Hs solved to determine the optimal routes
connecting the non-adjacent nodes-AE, A— F, K— O, and G— O. The objective
function of these subproblems is the minimizatiébnhe production costs, which has to
be identical to that of the overall optimizatioroplem. This work uses information of
the production costs of these conversion steps pobtished data (with adjustments for
the time value of money, location, and productiapazity). In some cases where such
economic information may not be available, simolatand heuristics can be used to
determine the optimal ones. Table 2 summarizepakiey optimization between nodes.

At the end of this step, the superstructure is Bfre@ as shown in Figure 7.



Table 2. Problems of optimizing policy between two nodes.

Nodes Feed Product Roufes Key comments References
A - F Biomass Methane (7) Gasification & (21) Production cost: $8.53/GJ of methane Gassner and
Methanation Maréchal*
(8) Landfill Production cost: $1.90 — $3.79/GJ afthrane EPX
(9) Digestion Production cost: $0.20 — $0.55/GJ of methane Gray
A - E Biomass Syngas (7) Gasification Energy efficiency: 82.8% Hamelinck
and Faal]’
(9) Digestion & (22) Energy efficiency: 63% Calculation
Autothermal reforming
H - O Ketones Alcohols  (27) Grignard synthesis Yield2s-888% Carey and
Sundberd’
(28) Hydrogenation Yield is 100% Charty
K - O Ethylene Ethanol (31) Indirect hydrolysis Well deypeed and commercialized in 1960s but
phased out because less economic than hydration.
(32) Hydration Simple, direct, and most costly effective pathway
(33) Hydrobromination & (35) Involves many more steps than hydration pathway
Hydrolysis
(34) Hydroformylation & (36)  Involves many more steps than hydration pathway
Hydrogenation
G- O Acid Alcohols (25) Esterification & (30) Includes mild esterification (203 kPa and Kiff and
carboxylic Hydrogenolysis 50°C) and hydrogenation (180 and 405 kPa) Schreck’
(26) Hydrogenation Involve furnace, intense hydrogenation (230Kiff and
27FC and 4.1 — 7.1 MPa), and expensi&ehreck’
molecular sieve.
E . O Syngas Methanol (18) M ethanol synthesis Production cost ($2010): $19.98/GJ meth&nol Hamelin%:4k
and Faa
Syngas Alcohols (20) Mixed alcohol synthesis Préidnccost ($2010): $19.98/GJ methahol Bechtef®

Note: a. Bold routes are optimal ones; b. 20% aded to account for additional cost of processmmicipal solid waste;

c. An additional cost of $0.425/gal was added wpant for biomass feedstock.

8T



Table 3. Problems of optimizing pathways.

Pathways Description Product Base year Year 2010 fer®wes
Capacity  Product Energy Date PPf Alcohols cost
cost’  density

MMGPY ?  $/gal MJ/gal $lgal  $/GJ
A-B-J Mixed alcohols production Mixed 45 1.21 92 2007 213.7 1.39 15.14 Granda gt al.
-0 via acid fermentation and alcohols
esterification
A-C-  Mixed alcohols production Mixed 35 1.44 101 2009 229.4 154 15.28 Pham &tal.
H_.O via acid fermentation and alcohols
ketonization
A_-D-  Ethanol production via Ethanol n/a n/a n/a n/a n/a n/a n/a  The Zeachem
G_J_- 0O acetongen fermentation process
and ester synthesis
A-D-  Ethanol production via Ethanol 50 1.03 79 2003 161.8 156 19.69 Hamelaick
0 hydrolysis and yeast al®
fermentation
A-0O Mixed butanol and ethanol Mixed n/a 1.50 110 2007 214.8 171 15.47 Pfromm & al.
production via ABE alcohols
fermentation
A-E- Methanol production via Methanol 24 0.61 59 2001 151.8 1.18 19.98 Hamelamk
0 biomass gasification Faajp*
A - F-1 Ethanol production via Ethanol 13 2.74 79 2008 2455 2.73 34.43 Calculatio

L_K_0O syntheses of methane,
acetylene, and ethylene

Note: a. MMGPY: Million gallons per year of prodacOnline operation is 8,000 hours per year
b. All the product costs exclude feedstock costs
c. PPI: Producer Price Index for Chemicals andedlProducts. PPI in 2010 (245.1) is the averaga flanuary 2010
to July 2010.

6T



20

[Lignocellulosiq

biomass

(18)

Acetylene

(29)

Ethylene

32)

;

Bio-alcoho

Figure 7. The synthesized superstructure after the steptoh@ation between nodes.

In the next step, the optimization problenu#s solved for an optimal pathway of
the simplified superstructure. Most of the prodocticosts of the biomass-to-alcohol
pathways were available in published techno-ecoocmialyses. The cost estimation
from previous years was updated to year 2010 dollamg the Producer Price Index for
Chemicals and Allied Products published by the W8partment of Labot As all
pathways start with the given feedstocks, the fisettscosts were excluded for the
comparison of production costs. Because differdnbhmls may be produced, the
product price was calculated as $/GJ to have aistens basis. The result of this

optimization step is summarized in Table 3.
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The calculations show that the following pathways #he most economically
attractive routes: Mixed alcohols production viadatermentation and esterification
(A—>B—J—0; $15.14/GJ of products). Mixed alcohol productiaa acid fermentation
and ketonization (A>C—H—0; $15.28/GJ). Mixed butanol and ethanol productian
ABE fermentation (A~O; $15.47/GJ).

Because the calculated costs of these three coafigas are relatively close, additional
analyses must be performed. This is consistent thighstated objective of the devised
approach which is aimed at quick screening of pattsato generate a set of attractive
configurations that can be later screened in metaild

2.6 Summary

A common approach to the design of biorefinery mpmhtions is to develop
flowsheets around a core conversion technologycatesup a laboratory-scale unit.
Although feasible process configurations can bévddr their overall performance may
not be attractive and the approach may severelglehirthe innovation of new
configurations.

A new methodology for the synthesis and optimizaté biorefinery configurations
was proposed in this chapter. The proposed fonaaddbackward branching techniques
— along with matching and interception steps —uwmed to synthesize the biorefinery
pathways based on known conversion technologiedmBe’s Principle of Optimality
can be applied to decompose the optimization prodlgo subproblems that can be
readily solved to reduce the number of possibldwways from the synthesized ones
without missing the globally optimal solution. Theethodology is a systematic way to
quickly synthesize and screen biorefinery pathwags as to generate promising
pathways that can be assessed in more detalils.

The proposed methodology was demonstrated in a stasly of producing fuel-
grade alcohols from lignocellulosic biomass. Theute indicated mixed alcohol
production via acid fermentation and ABE fermemtatias the most economically

attractive pathways.
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CHAPTER Il
DESIGN OF BIOREFINERY CONFIGURATIONS
WITH AN OPTIMAL LEVEL OF FLEXIBILITY

3.1 Introduction

Decisions on the design of chemical processes aelynput information, which

generally has uncertainty or predictable variation®peration stage. The problem of

accommodating these input changes in early desagess referred to as design with

flexibility. Based on sources of uncertainty, tigut changes can be categorized into

four types®*

Model-inherent uncertainties— parameters in modeling equations to
mathematically describe the process. They are mddafrom experiments.
Their changes are usually described in ranges lgessealizations or in
probability distribution functions.

Process-inherent uncertainties flowrates, temperatures, pressures, and
stream qualities that normally disturb or fluctuatben the process is in
operation. Their values can be obtained from measent instruments and
described by probability distribution functions.

External uncertainties- availability, demand, prices, and qualities aWr
materials, utility, and products. It also includasrounding environmental
conditions. The behaviors of these input changgem on specific market
or environmental conditions. They can be predic{éatecasted) from
historical data.

Discrete uncertainties- equipment availability and other random discrete
events. An uncertainty of this type, for examptean equipment failure of

which probability (and frequency) can be retriefiean reliability databases.

Another classification of the input changes is dase the uncertainty nature and on

how to describe > There are two categories of this classificatioetedministic and

stochastic. The deterministic uncertainties arecrilesd by a finite set of values
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(scenarios) with given occurrence probabilitiesréfore, they are preferred for the
external and discrete uncertainties. The stochasticertainties have behavior of
continuous random variations described by jointopholity density functions; hence,
they are more suitable for the model and processrent uncertainties.

Let 8 be the uncertainty parameteds)e design variableg,be control variables, and
X be state variables. The problem of flexibility dg@scan be formulated in the following

general forms:

Problem R
TaxP(d ,Z,X8) (8)
subject tof (d, z, x8)< 0 (9)

dOD, zOZ xJ X

The objective functiorP(d,zx,0) is a cost function (e.g., revenue, profit, operat
cost, capital cost). If thé is described by (or discretized into) a set olhac®s with
given probabilities (or weighting factordp(d,zx,0) is an expected value of the cost
function. The constraints represent specificatms process-modeling relations such as
mass balance, energy balance, equilibrium, desarat®ns, product qualities, etc.
(Note that equality constraints are equivalent setof two inequality constraints with
opposite signs; therefore, equality constraintsnateshown in P; for simplification.) In
the literature, design specifications were formedain one of two constraint types: hard
constraints and soft constraints. Hard constraststly restrict calculated variables in
predefined ranges (e.g,< 1). On the other hand in soft constraints, violasi are
allowed with a penalty. For example,« 1F is a Taguchi loss functi6hto impose a
penalty charge if value @fis not equal to 1, a desired value.

In design stage, process designers must anticthatehanges of inpu®d) which
may occur in operation stage and must decide ont wtrategies to respond. The
response strategies can be categorized into tlenesdsl as shown in Figure 8. The
quickest and easiest way to respond to the chamgesanipulation of operation
conditions (i.e., changing values). If this strategy can not accommodate tlfem.,
product specifications can not be met in any opmratonditions), substitution of
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feedstocks or products (changing otheis considered. If the second-level strategy fails
the change of equipment sizes (i.e., changingalues) and/or of process structure
(retrofitting) may need to be performed. The higherels of the strategy pyramid

require more effort, expense, and time to respond.

/\ Higher levels require more:

+ Effort
Retrofitting : E_;;Egnse

Subtituting input
and/or outputs of th
process

Manipulating operation
conditions

Figure 8. Strategies to respond to uncertainty changes.

3.2 Literaturereview of flexibility design

The solution approach to flexibility design has oeéudied for four decades. Well-
known systematic approaches were mainly developd®80’s and 1990’s. Before the
systematic tools were developed, the traditiongragch in practice was to use nominal
values of the uncertainties for the basic desigd @ren apply empirical overdesign
factors to equipment sizes to accommodate the tamctes. The utilization of
overdesign factors, which can be found in the diiere®’ is based on designer's
experience. By using only nominal values, the tradal approach ignores other
possible values of the uncertainties. Meanwhilepleging overdesign factors does not
guarantee feasible operation in the whole uncdgtaanges due to lacks of insights on
degree of flexibility and may result in unnecessadylitional costs.

Based on design objectives, the systematic appesatéive been usually grouped in
two categorie§® The first one is referred to amptimal design for fixed degree of
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flexibility in which the design must be feasibleatitvalues of uncertainties in a discrete
set of realizations (multiperiod design problem)iroispecified ranges (general design-
under-uncertainty problem) — a semi-infinite setr@dlizations. These approaches are
suitable for deterministic model of uncertainty.

In the multiperiod problems, solutions can be deieed from the following one-

stage formulation where the functions in program &e rewritten for all periods:

Problem R
mp%;P(d,zp% a,) (10)
subject tof(d, z,, %,,6,)<0, p=1..F (12)

dOD, z,0Z %0 X

whereP is the number of operation periods.
Multiperiod problems are usually easy to solve. ldeer, the general design-under-
uncertainty problems are much more difficult. Hadera and Grossmafthformulated

the latter problem in a two-stage program:

Problem R3:
mdaXHIDET{ rrggxP dzx8)|fd.,z,x@ ¥ }] (12)
subject tod@0T{ [z YO0 X (d z x8)<0)}. (13)

The outer stage is a design-stage problem wHeige determined to optimize the

expected value of the cost function. The innerestagaxP (d,z,x8) | f (d,z xf x 0is

an operating-stage problem where values of dasmye fixed and values of controare
determined to yield optimum values of the cost fiorcfor everygOT .

The main difficulties of ProblemJR are the need to solve a semi-infinite number of
operating-stage problems because realization®) afre (bounded) ranges and the
flexibility tests (logical Constraint 13) must benfied. A common approach to the first
difficulty, which was proposed by Grossmann andg8at’® is to transform the

formulation into a multiperiod program by discrétig 6 space from the continuous
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regions into discrete sets. As for the second aliffy, Halemane and Grossm&nn
reformulated the logical constraint with the folliony equivalent constraint:

maxminmaxf, @ z xg x ( (14)

ear  zx  jOd
and proved that only vertices in the polyhedro dinstead of continuous space Of
need to be verified with Constraint 14 if inequabt are convex, which significantly
reduces computational expense.

The second category déesign with optimal degree of flexibilitiis design objective
is somewhere between the two extreme cases ablowdréditional approach and the
optimal design for fixed degree of flexibility) @ahe design is not necessary to be
feasible at all value of uncertainties. Decisionking is based on a trade-off between a
cost function and degrees of flexibility, which apeantified by a metric.

The key issue of the second-category is analysieribility, i.e., quantification of
flexibility level. Swaney and Grossmahmproposed a flexibility index to measure a
partial region (of a giver® space) in which a fixed desigh still satisfies feasible
conditions. The feasible rangesbodire expressed in terms of flexibility indEx

" -FIMNG <0< 6" +F NG (15)
where 6" is the nominal value,
A9 andA@" are given negative and positive deviations.

Then, the program to determine flexibility indéxan be mathematically formulated:

Problem R4
F = maxd (16)
subject tomax minmaxf, @ z xg k ( a7

om(3) zx
T(0)=(0|6" -0Ag <8< 8" +3DG"). (18)
To solve Problem £, Swaney and Grossméafinassumed the critical points
(solutions) lie at vertices df(0). Then Problem £ is equivalent to:
Problem Rs:

F= rgvndk (19)
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o* = rpaxdk (20)
subject to f(d, z x8)< 0 (21)
8=6"+5N6" (22)

where V is the index set of vertices
A#* is deviation of nominal valug" towards vertex.
Alternatively, Grossmann and Floudaproposed an approach to determine explicit
solution of Problem £, without the assumption of critical point locatiohsng at
vertices ofT(0). By analyzing properties of active constraintsfeésible conditions
(constraint 14), the authors formulated an equitalmixed-integer minimization
problem of the following forms:

Problem Rg
F= e,z,xffs‘,i%”,h | o (23)
subject tos; + f,(d, z x0)<0, [1J (24)
A =1 (25)
o
of.
A—+= (26)
j%: ' oz
A -y; <0, jOJ (27)
s —Ul-y)<0, jOJ (28)
Y =0+l
I (29)
" -0\ <0< 6" +0NG" (30)
y;=0,1 jOJ (31)

where s is a slack variable for constraintf (d,z,6) <0,
Zj is a Kuhn-Tucker multiplier for constraipt
U is an upper bound for the slack,

n, is the number of control variables
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Problem B¢ has the advantage of not requiring the assumtiamitical points on
the vertices or exhaustive vertex search. Hendgstbeen embedded in formulations to
solve various types of retrofitting design problefmstkopoulos and Grossmann solved
optimal retrofit design problems for increasingflexibility to above a desired level in
linear system$? to exactly a desired level in nonlinear systém; to an optimum level
that corresponds to a maximum profit with deterstinf® and stochast/é uncertainty
models.

Another way found in the literature to quantify Xieility levels is stochastic
flexibility. Stochastic flexibility is defined as the probékilthat operation of a given
design is feasibl& Thanks to probability nature, problems of deteingroptimal levels
of flexibility with stochastic models of uncertaynparameters are best treated in this
approach. In mathematical viewpoint, stochastixilfigity is the cumulative probability
of the joint distributiorj(¢) describing stochastic uncertainty over a feasibtgon, i.e.,

itis the integral of(6) over the feasible regions 6f®

SF(d)= | (6)do (32)

R(d)

RO={e0T[dz 0P T f(d 20)=<0f}.  (@393)

Straub and Grossmafinrembeded and handled this integral by discretinaitiodesign
optimization problem of maximizing stochastic fle#ity subject to a cost constraint.
Pistkopoulos and lerapetritfusolved the design problem with stochastic flexipiby
optimizing a cost function while simultaneously mgang design feasibility.

Extensive reviews on the optimal flexibility desigrere reported by Grossmann et
al®® and later by Grossmann and StrdtiBesides flexibility design, there are some
other process system engineering problems that edsounter uncertainty and may
share similar solution approaches. Some of thentamé&ollability (ability of a control
system to dynamically respond to disturbances)usoiess, reliability (ability of a
process to maintain normal operation when mechhmicalectrical failures occur),

value of perfect information, production plannindgsign and production of batch
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processes. Reviews on these problems can be fauhé publications of Pistkopouf§s
and Bernardo et &F.

Above is a selective literature review of commorrnfalation and solution
approaches to process designs with flexibility undecertainty. In gerneral, those
methodologies are systematic but they share sonmmamom limitations. The optimal
design for fixed degree of flexibility is consenvat because it requires feasible
operation in the whole ranges of unceratinty, whigdy result in unnecessary additional
costs of oversizing and maintenance. On the othadhthe approaches to design with
optimal degree of flexibility reduce those additbrtosts; however, they involve the
issue of flexibility analysis, which requires congpted formulation and solution
methodologies. The research objective is to proposevel formulation approach that
tackles these two limitations and is well suited fioe design of flexible bio-refinery
configurations.

3.3 Problem description
3.3.1 Motivation

Design of flexible biorefinery configurations inwals external uncertainties and

model-inherent uncertainties. External uncertasntisually include:
* Feedstock prices, availability, and composition
* Product prices, demand, and specifications
* Prices and availability of raw chemical and utility

Values of those parameters are uncertain becaagaddpend on market conditions,
which change with time and vary from one param&texnother. Most of their changes,
for instance corn prices as shown in Figure 9, amatrary. But some of them,
particularly availabilities of agricultural prodgct are seasonal and recurrent. For
example, storage stocks of frozen corn in the dn8&ates are annually repeated due to
weather conditions (Figure 10). (Note: Althoughzia corn is not a biorefinery
feedstock, its stocks reflect the availability chanof corn crop used for fuel

production).
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Monthly corn price - United States
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Figure9. U.S. monthly corn price received by farmés.

Some of the parameters depend on each other. Bonme, the price of hydrogen
(as a raw material for an option to remove oxygement out of biomass components) is
proportional to the price of natural gas (as a cemnutility for heating) because
hydrogen is mainly produced by reforming naturak.g@he relationship is of the
following form:®°

Hydrogen price ($/kg) = 0.172Natural gas price ($/GJ) (34)
Such a relationship between uncertainties doesimpbse more difficulty on the
solution approach; instead, it reduces the numMewrxertainty scenarios to be
investigated.

Uncertainty levels of the external uncertainties dze reduced by performing
analysis of historical market data and predictintufe trends based on data. However,
uncertainty levels can not be further reduced bseatlhe uncertainties depend on

external conditions.
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Total Frozen Corn - United States
Cold Storage Stocks, 2008-2011
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Figure 10. Cold storage stock of U.S. coth.

On the other hand, model-inherent uncertainties ltifferent characteristics. They
are obtained from experiments; therefore, theireutain levels can be further reduced
with more experiments (yet requires more experialerdostsf> In conceptual
biorefinery configuration design, the uncertaintiesnterest are usually yields of being-
developed conversion technologies. In detail proadssign, other process-modeling
parameters such as kinetic constants, physical epiep, -efficiency, transfer
coefficients, and so on should be also considefdwy are uncertain because of
tolerance of the models (e.g., models are linedrifce simplification), discrepancy
between operation in research scales and in conmtheoales (e.g., ideal mixing might
not be achieved in commercial-scale large vessel Eboratory-scale small apparatus),
and degradation in operation (e.g., heat transbefficient decreases due to fouling).
The changes are usually described in ranges pessdalizations or in probability
distribution functions.

Let consider a simple example of corn-to-ethanasigiewith two uncertainties. For
demonstration purpose, assume the future changerofprice ¢1) will be the same as
the historical monthly price shown in Figure 9. \Beé&n January 2000 and April 2011,

the price reached a minimum at $1.52/bushel in Aug@000 and a maximum of
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$6.40/bushel at the latest data record (April 20The average value is $2.87/bushel
and the time period when the price exceeds $5/bushghort (9 months out of 137
months of the whole recorded data). Ignore theeising trend of the price after the
latest month. The second uncertainty is overalldyw the processéf) defined as a
fraction of theoretical yield ethanol from corn igrawhich is 124.4 gallons/dry ton
feedstock* The actual yield is somewhere between 60% and 8D%eoretical, and
expected at 85%.

Design strategies for this example using approaakiagable in the literature can be
briefly described as follows. In traditional appcbathe plant is designed with nominal
values off), for examplef, = 2.87 and’, = 85%; then, equipment sizes are overdesigned
to accommodate the higher throughput witer= 90%. In the approaches to optimal
design for fixed degree of flexibility, the planperation must be feasible for any values
of 6 in the uncertain ranges 1.526; < 6.40 and 60%< #, < 90%. Such design is
conservative as the plant must be in operatiohénwthole ranges, which results in high
capital cost and probably a negative revenue irratijpe in some scenarios (e.g., in
scenariosf; > 5). In the approaches to design with optimal degof flexibility, a
flexibility index that is based on the bound andmmual value ofé is analyzed,;
expensive iterative calculation is usually requiteconstruct a trade-off curve between
values of a profit function and the flexibility ies.

Alternatively, a new design strategy is proposethis research. The design need not
being feasible at any value 6f Instead, the plant is designed such that it isperation
only when economic efficiency is favored (e.qg.,ffirfunction is positive) and product
gualities are met. During the operation stagehée conditions are not satisfied, part of
the plant is idle or the whole plant is shutdownatmid economic loss. Hence, the
design has an optimum level of flexibility. Fromnaathematical viewpoint, for every
value of @, design variables are calculated if those opemationditions are satisfied;
otherwise, design variables have trivial valuesrqge In addition, non-iterative
calculation is desired to reduce calculation effofthe problem of biorefinery

configuration design is suitable for this stratdgcause it is not uncommon for part or
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whole plant to be idle for economic reasons. Coselgrin other design problems (for
instance, design of flexible heat exchanger neta)orthe priority strategy is operation
feasibility at variou® scenarios.

3.3.2 Problem statement

In this research, the terfiexibility implies the ability of a process to be operable
(i.e., feasible and profitable) in various scensrif uncertainties. If the process is
operable at any value of uncertainty, it is fulgxible. If the process is operable at some
realizations of uncertainty, it is partially flex# Figure 11 shows a sketch of trade-off
curve between the profit and flexibility level. Aexibility level increases, higher
capital costs are needed because equipment sige;i@eased and more pieces of
equipment are employed to accommodate wider ranfiasmcertainty values. Also,
revenue of the process increases as its online inmeases because it operates in
additional scenarios. As a result, the profit —akhis a combination of the capital cost
and revenue — has a maximum value at a certaiibiliéx level. The problem objective
is to obtain the design with the maximum profit.dtner words, the problem is design
with an optimal level of flexibility.

The general problem, configuration design with ptiroal level of flexibility, can be
stated as follows. A superstructure of the flowsheigh modeling equations is given.
Information on available rates, characteristicsd girices of feedstocks, utilities,
products, and other raw materials is also giveras€hinputs may contain uncertainty or
predefined variations that are modeled as detestigcnuncertainty, i.e., described in
ranges or discrete sets with occurrence probaslitThe problem is then to design a
configuration (i.e., determine equipment sizes)hwa level of flexibility so as to
maximize the expected value of profit which is ded from revenue and annualized
capital costs. The process does not need to opatraiey value of the inputs; instead, it
is allowed to be idle in some scenarios if econe@naie not favored or if qualities are not

met. Figure 12 summarizes the problem statement.
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Figure 11. Trade-off curve of profit and flexibility.
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Figure 12. Schematic configuration design with an optimaklesf flexibility.

Particularly for the problem of biorefinery configiion design with an optimal level
of flexibility, given information is:
* Biomass (feedstock) availability, characteristicand prices with
uncertainty
» Biofuel (and other byproducts) demand, specificegjoand prices with

uncertainty
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» Utility and other raw materials (e.g., hydrogenidaenzyme, lime, etc.)
availability and prices with uncertainty
* Technical performances (yield, conversion, desiguaiions) with
uncertainty.
The profit function is of the following form:
[Profit] = [Product sale] — [Operating cost] — [Aumadized capital cost] (35)
Product saleis the annual income from selling products, whishai function of
product prices and rate®perating cosincludes annual costs of feedstocks, chemicals,
utilities, and labor. This second term is a functaf their prices and production rates.
Annualized capital cosaccounts for depreciation of the investment angedds on
equipment sizes.
3.4 Approach
3.4.1 Digunctive operation mode constraint
The constrainf(d,zx,#) < 0 has been referred to as a general form of altcaints

involving in the formulations. Let classify thosenstraints into three following types:

Equalities: 9(d,zx,0) =0 (36)
Flow rate bounds: LB<Z"<UB (37)
Other inequalities: h(d,zx,0) <0 (38)

where LBand UB are lower bound and upper bound of flow #it¥ goingthrough
equipment £ is classified as control variables).
Constraint 36 is a set of process-modeling equstimass and energy balance,
equilibrium, design equations, etc.). ConstrainteXists because ranges of operating
flowrates are limited by equipment sizes which fixed in operation. Constraint 38
represents other feasible conditions and spedificst

The unique design strategy of this work is to datee the process configurations
and equipment sizes such that the process is rageération when it is not profitable or
when qualities are not met. To formulate this siggt the following set of constraints is
proposed to replace Constraints 37 and 38:

h(d,z,xf) <M-(1 -y) (39)
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LBy<Z“<UBy (40)
where M is a large scalar, called big-M, anés a binary variable.

If the equipment is in operation, then its assaugpflow ratezZ'® > 0. Constraint 40
imposesy = 1; thereforeh(d,z,xd) < 0 must be satisfied because of Constraint 39.
Otherwise, ifh(d,z,x0) < 0 is not met, they = 0 (because of Constraint 39) afltl" is
forced to be 0 (because of Constraint 40). Solvérdecide the operation mode, i.e.,
whethery = 0 ory = 1 to maximize the profit.

They are described alsjunctive operation mode constrainf&hese constraints can
be considered as a general form of hard constrdietsause they become hard
constraints whew is assigned 1 (before the formulation is solvé&@yure 13 shows an

example that using disjunctive operation mode cgairgs results in an equal or higher

profit.
Profit Profit
A A
_/A.i
LB’ A uB 2™ LB UB >7ov
a) b)

Figure 13. Comparison of solutions from two design strategiseng conventional
hard constraints (A) vs. using disjunctive opematiwode constraints (B), at two

scenarios a) idle is economically favored and Brapon is economically favored.

3.4.2 Formulation
The problem of design with optimal level of flexXity can be formulated as follows:
Problem R+



37

m‘%gwp Pd.z.%8,) (41)
subject to g(d, z,, %,,6,)=0, p=1,..F (42)
h(d, z, x,6,)< M1~ y), p=1..F (43)
LBy, < 2 < UBdy, (44)

dOD, z,0Z %0 X

wherew, is a weighting factor. It is usually a probability occurrence or fractional
length of time periods in multi-period design prerpis.

When it comes to configuration design with optirteadel of flexibility, Problem R
can be expanded to the following forms:

Problem Rg:
P J
M%pr R,(3™.6,)-2, G(d.6)) (45)
i p=1 j=1
subject to
Revenue functionRj(ZSOW,Hp) :HpT [Eff’w (46)
Capital cost functionC, (d;,8 ) = &**[q T (47)
Availability of raw materials:h(Zg'OW) <M(-y), giOl,pOF (48)
Product demandh (™) < M(1-y) , OKJ K, @I F (49)
Mass balance of equipment:
g,(d, ", Z2¥°6,)=0, 0j,j0J,jz jpOP (50)
Mass balance between equipment (which definesrbeeps structure):
o(zy"", ") =0, 0j,j0J,j* j"pOP (51)
Equipment sizes in every scenadod,( z;' =) 0JjO0J pJ P (52)
Equipment sizes designetj:>d,  , 0j0J,p0P (53)

Disjunctive operation modeB [y, <z <UBLy, , OjOJ, pO F (54)
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Variable domainsy,, =0,1, 0j0J,p0P (55)
d, z=z0 (56)
where R)(Zgow,ﬁp) is a revenue function for scenanmoof flow rate variables and

parameters of raw materials, product, and opera&insgs;
C,(d;,8) is a capital-cost function of equipmentiepending on variables of

equipment sized, and parameters to scale capital costs at variaes.si

P, g iIs a mixed-integer nonlinear programming problefhe nonlinearity results
from the annualized capital cost term (a power fion¢ in the objective function.
Additionally, it results from the disjunctive op&an mode constraints if the bounds (LB
and UB) contain variables, for instance sif®f associating equipment. In most of the
cases, a local optimal solution is also the glaimimal solution. (In Lingd? it can be
verified when upper and lower bounds are found heatan solution report.)
3.4.3 Solution algorithm

Figure 14 summaries the solution approach to cardigon design with an optimum
level of flexibility, which consists of the followg steps:

* Transformation of uncertainty model&s discussed in Section 3.3.1, input
information with uncertainty is described in vamsoiorms. In this step, they
are transformed into a discrete set of scenaridbel variations are given in
continuous ranges, the ranges are discretized nmitliple segments. The
segments with identical values can be combined orie scenario with
summation of their occurrence probabilities. Simyiaif information is
available in forms of continuous (long) time pesgpthey are discretized into
multiple equal small periods of which each is asstja scenario. (Note: This
problem objective is flexibility, rather than sclidg.)

* Formulation The problem is formulated as Problepy.Rt is a mixed-integer
nonlinear program (MINLP). The nonlinear terms app@ the objective

function. They may also appear in constraints iflmear models are used. If
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all the constraints are linear, global optimum ikelly obtained using

conventional solution methods.

Given
informatior

A 4

Transformation of
uncertainty models

A 4

Formulation
as an MINLP

Solution of the
formulation

A 4

Result analysis

A 4

Flexible
configuration

Figure 14. Solution framework to configuration design with@gtimum level of

flexibility.

» Solution of the formulatianThe optimization program can be solved using
optimization software for the (local) optimum saodut. Whether the found
solution is the global optimum might be verifiedaalculation reports.

* Result analysisThe solution of the formulation is analyzed fopmactical
configuration. For example, if a part of the pracesassigned idle in most of



40

scenarios that are expected not to occur in thefoaae, then that part needs
not to be constructed at the beginning of the ptojé helps to reduce initial
capital cost and to avoid maintenance costs duhagdle period.

As a result, a flexible configuration with a maximuwexpected value of profit is
obtained. Also, operation modes in every scenafriongertainties are available in the
solution.

3.5 Case study
3.5.1 Problem description

In Chapter Il, the case study of synthesizing lgilulosic-biomass-to-alcohols
pathways showed that mixed alcohol production eid éermentation and ketonization
is one of the most promising pathways. In this ¢thigpa case study of configuration
design with an optimum level of flexibility, basemh the mixed alcohol production
pathway, is investigated to demonstrate the mefitee proposed approach.

The problem is stated as follows. Given is informaton raw materials and
products, and a superstructure of processing wvitts technical performances for the
conversion of lignocellulosic biomass to mixed &lols. It is desired to determine the
configuration and sizes of the main processingsuttit give a maximum expected
value of profit.

The information on raw materials (including two rnarellulosic sources and
hydrogen) is availability, costs, and componentspaositions. There are two products:
fuel-grade mixture of alcohols as the main produith given demand and prices, and
lime as a value-added byproduct with given prices.

The superstructure as shown in Figure 15 has aongbtset of processing units
(gasification, cogeneration, water-gas shift, anelspure-swing adsorption) to produce
power, steam, and hydrogen from fermentation resitfuthose units are not employed,
the process must import the utilities and hydrodgemm external sources and the
fermentation residue is considered as waste witlcharge of $22/tonne. For
simplification in the superstructure, some raw mate (e.g., natural gas, fermentation

nutrient source, steam for water-gas shift) andrdpcts (e.g., water from vapor
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compression system and crystallization, carbonide&om lime kiln, solid waste from
gasification, steam and power from cogeneratiare §as from PSA) are not considered
in the model because they are accounted for iroffegating cost of associating units.
Detailed description of the process is availabl8eation 4.3.1.

Input information is reported in Appendix A. Thelaical performances are yields,
which are based on component rates (instead dfftotarates). Some of the input data

have variations with probabilities of occurrence.

Biomass Lime — :
_’I Pretreatmernt 4—@
Biomass 2 4

v
| Fermentatiorhmm Vapor compressiga——] Crystallizatio Salts Ketonizatior]

Residu¢

—» Waste
\ 4 y

|Gasiﬁcatior1—>|Cogeneratiohsyﬂi;\sf\rl]‘?fttergaS PSALH Hydrogenation
External B lMixed

Ketones

alcohols

Figure 15. A superstructure of the biomass-to-alcohols caméigons.

The capital and operating costs of processing uarésmodeled in the following

forms:
Capital cost = (Capital-cost coefficieft) (Size hué unitye"? = (57)
Operating cost = (Operating-cost coa#fit) [{Flow rate (58)

wheresize of the units a characteristic size of the associating dat.example, it is the

pile volume in pretreatment unit or it is the totaat transfer area of latent heat
exchangers in vapor compression systétow rate is a characteristic flow rate of

associating units, for example, inlet wet biomasses in the pretreatment and
fermentation units (i.e., excluding lime, fresh gratnutrient rates). For this reason, one
should not compare operating and capital costsdoasethe coefficient because the
bases of characteristics sizes and flow rates iffexeht. The lists of characteristic sizes
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and flow rates of all the units are given in tabdespages 107 and 108. The operating-
cost coefficient as well as the operating costhef ¢ogeneration unit is negative in the
model (i.e., making positive profit to the plangdause of credits from power and steam
produced from this unit.
3.5.2 Solution

The solution starts with a transformation of modeééscribing input variations.
However, for simplification and a clearer presapntatthe variations are given in six
scenarios with probabilities of occurrence (seeeujix A).

The problem can be then formulated in the followioigns:

Problemp g

6 11
maxy_ PROB Drevenq)e—%z CAPCOEE mgiZ&™ (59)
p=1

=1

subject to

2 3
revenug = » PRICE_ Cprod,~ > COSTO supply-
k=1 i=1

11 11 10
> OPCOEE, Otflow, - 23" > waste, , f@= 1., (60)
j=1 j=1lm=1

Availability of raw materialssupply, < AVAIL,, fori=1,...3p= 1,.., (61)

Compositions of raw materials:

content,, = FRACTIOI\,JnDsuppIM , far= 1,...,89= .110,p=1,...,t (62)

Product demandprod,, < DEMAND,, , fork=1,2;p= 1,.., (63)
10
Total inlet flow rate of equipmentflow , => fo , forj=1,...,11p= 1,..,  (64)
m=1
Mass balance of equipment:
10
fom => fo IYIELD ., forj=1..11m= 1,..10p= 1.6 (65)
m'=1

Mass balance between equipment:
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Raw materials — Pretreatment:

2
> content, = f't . fom= 1,..,10p= 1,.. (66)
i=1

UT_fIN
m ~ '2pm>

Pretreatment — Fermentatidqf; form=1,...,10,p= 1,..., (67)

Fermentation — Vapor compression system & Gasiinat

fom = fiom, form=4,..,10p= 1,.., (68)
foom = fomtwaste . fom= 1,...3p= 1,. (69)
0=fS,, form=4,.10p= 1,.., (70)
0=fy,, form=1,.,3p= 1,.., (71)

Vapor compression system — Crystallization:

form=1,...,10,p= 1,..., (72)

OouT _ IN
f3pm - f4pm '

Crystallization — Ketonizatiorf,>"" = £ form=1,...,10,p= 1,..., (73)

4pm 5pm?

Ketonization & Pressure swing adsorption — Hydregem & Lime kiln:

faoto = fip1or fOrp=1,...,€ (74)
for =iy, forp=1,.¢ (75)
0=f,, forp=1..6m= 1,..,6,8, anc (76)
foa + fiops TSUPPlY, = s, fop=1,..., (77)
foom = fopmtfiipm: fOrp=1..,6m= 1,..5and7,.., (78)
fiope tSUPPlY;, = 0.058 . , fop= 1,.., (79)
Gasification — Cogeneratiofi,-" = f} ., form=1,..,10,p= 1., (80)

UT_.I:IN
m ~ '9pm?

Cogeneration — Water-gas shiff) form=1,...,10,p= 1,..., (81)

Water-gas shift — Pressure-swing adsorption:

form=1,...,10,p= 1,..,, (82)

OouT _ IN
flem - flOpm’

= fOUT

Hydrogenation — Main produgbrod,, = f.o , forp=1,....¢ (83)
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- Lime kiln — Byproductprod,, = f7;1, , forp=1,...,¢ (84)
Equipment sizes in every scenario:

size, = SIZECOEH I tfloyy ,fof= 1,..,.1p= 1,.. (85)

Equipment sizes designedisize > sizg , fgr= 1,...,1h= 1. (86)

Disjunctive operation mode constraints:

0.5y, Unsize < sizg< 10,00y, , fpr 1..H= .16 (87)

y, <10(msize , foi= 1..1h= 1.. (88)

Variable domainsy,, =0,1, forj=1,..,11p= 1,., (89)
fom fom » Msize , size , prad , supply , tfloye

fori=1..3j=1..,1%k= 1an= 1,..1p= .16 (90)

wherei, j, k, m, andp are indices for raw materials, equipment, produotsnponents,
and scenarios, respectively; UPPERCASES notatesgrarameters (corresponding to
#) and lowercases are variables (correspondind) m andx) to be determined; indices
for processing units are numbered in the followiogler: (1) Pretreatment, (2)
Fermentation, (3) Vapor compression system, (4)st@thzation, (5) Ketonization, (6)
Hydrogenation, (7) Gasification, (8) Cogenerati@@), Water-gas shift, (10) Pressure
swing adsorption, and (11) Lime kiln.

In the objective function, the total capital casdivided by 7 to account for straight-
line 7-year depreciation with a discount rate of. 0fcthe disjunctive operational mode
constraints, equipment is forced to operate at 8% of designed capacity; otherwise,
it is not in operation. The upper limit is 100%d#signed capacities, which is imposed
by Constraint 86. Big-M is not needed in the indiqyaconstraints of raw material
availability (Constraint 61) and product demand r{§taaint 63) in this particular case
study because they are automatically satisfied velssociating flow rates are zeros. The
coefficients (which are 10,000 and 10) in the disfive operational mode constraints
are arbitrary big numbers to impoge= 1 when size > 0 angd = 0 when msize = 0,

respectively.
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Lingo® software version 10.0 was used to solve this dp#tion program.
Formulation codes in Lingo are reported in Apperi8iibA global optimum was found in
207 seconds on a personal computer with the procdéstel Core i3 M350@2.27GHz
and with 4.0 GB RAM. The global optimum was obtainath aid of the default built-in
Global-Solver tool in Lingo 10.0.
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Figure 16. Designed flexible biorefinery with characteristizes.

A detailed report of calculated variable valueatteiched in Appendix C. The result
shows that all the processing units in the supeictire are employed in the optimum
design. Figure 16 depicts the design of the binezfi with characteristic sizes of all the
processing units. In the figure, the units andastre with dash lines are invested but not
employed in all scenarios. The result (Table 4p gives the operation modes in every

scenario as follows:

» Scenario 1- This is the scenario with the highest occurrepabability
(50%). All of the processing units are designedperate at full capacities in
this scenario. The plant only uses Biomass 2 (ne.Biomass 1) because
Biomass 2 has significantly lower cost althoughhdis higher content of

lignin. The plant needs external hydrogen becaydeolgen from processing
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residue is not enough for the Ketone Hydrogenatioit. Let refer to this
scenario as a base case. Other scenarios are @ummjgathis scenario to
clarify the difference of operation mode.

Scenario 2— External hydrogen ($200/tonne) in this scenasiomuch
cheaper than in Scenario 1 ($4,000/tonne). For @oanreason, the plant
uses only external source for the hydrogen demAsad result, the residue
processing section (including gasification, cogatien, water-gas shift, and
PSA) is idle. Other sections are in operation witil capacities. All
fermentation residue (142 tonne/h) is dischargedasie.

Scenario 3- The prices of the two biomass feedstocks arbeni@¢b90 and
$40 versus $30 and $5/wet tonne). These pricetoarkigh for the plant to
be profitable. Therefore, the whole plant is shutdoIn other words, the
highest profit in this scenario is 0. (Note thatpiractice a plant still loses
money if it is not in operation because of somedixosts such as wages,
debt interest, etc.)

Scenario 4— The situation of this scenario is the limitecaidability of
favorable Biomass 2. In addition to using all Bi@®& availability, the plant
intakes some amount of Biomass 1. The mixed feekdtas lower content
of lignin which is a source for internally produgihydrogen. Total yield of
the main product is higher. As a result, pretreatmand fermentation
operates under capacities whereas the downstreacegsing units operate
at limitation (full capacities). Furthermore, moexternal hydrogen is
needed.

Scenario 5~ The fermentation yield is assumed dropped fonesoeason,
e.g., the yield in a commercial-scale plant is IoW@n that in the laboratory
scale. The results show that the plant productaie rs reduced although
pretreatment and fermentation operate at full dépac The good point is

that no external hydrogen is needed because demwiahgdrogen in the
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Ketone Hydrogenation unit is reduced and fermematesidue is more than
enough (a small portion of the residue, 18 tonne/discharged as waste).

» Scenario 6- Demand of all products is increased. For econamasons,
production rate should be increased because theatape is profitable as
seen in Scenario 1. However, the production rateef as in Scenario 1
because of capacity limitation of the designedssig&ccurrence probability
of Scenario 6 is lower than Scenario 1. Theref@@yer chooses the
equipment sizes to be best suitable for Scenatio dther words, increasing
equipment sizes is favored for operation in Scen@rbut it is not favorable

in a big picture considering all the scenarios.

Table4. Summary of the case study result.

Operational mode Scenario

1 2 3 4 5 6
Main processing chain On On Off On On On
Residue processing chain On Off Off On On On
Biomass 1 usage (tonne/h) 0 0 0 168 0 0
Biomass 2 usage (tonne/h) 450 450 0 250 450 450
External H usage (tonne/h) 0.41 2.11 0 0.60 0 0.41
Sign of profit value + + 0 + + +

In general, the result analysis shows that the atjger in some scenarios is not
optimum. If designers know for sure that a certaanario will occur, the design will be
different to suit that scenario. Because of unaagahowever, the final design must
accommodate all scenarios (i.e., be flexible) vaithoptimum of expected profit value.
Although the design is not economical in Scenarid & still worth building the plant
because occurrence probability of Scenario 3 ig loav (5%).

3.6 Summary

Input information for the design of chemical proses has uncertainty or variations.

In the design stage, process designers must atécthe changes of input, which may
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occur in the operation stage and must decide ort sthategies to respond. This is the
problem of design with flexibility.

The traditional approach, which employs overdedgctors, does not guarantee
feasible operation and results in unnecessary iaddlt costs. Developed systematic
approaches are conservative, result in robust yeéresive design and non-profitable
operation, or involve the issue of complicated ity analysis.

This chapter proposes a new class of design prableith flexibility and a new
formulation approach that is well suited for thesida of flexible bio-refinery
configurations. The design strategy is to build thest profitable plants that operate
only when economic efficiency is favored and prddqoalities are met. If these
conditions are not satisfied, part of the planidie or the whole plant is shutdown to
avoid economic loss. Hence, the design has an aptinevel of flexibility. The
formulation approach is to incluagsjunctive operation mode constrain®he solution
to the formulation is a mixed-integer nonlinear gram and solvable for a global
optimum in a regular optimization software.

A case study of configuration design for the mixdcbhol production pathway
successfully demonstrated the merits of the prap@gmroach. The design shows its
level of flexibility in operational modes in varisuscenarios of input changes. The
expected profit value was maximized.

This research has investigated the new concetsterministic flexibility problems.
Future work is recommended to consider applicagbitit the proposed approach to

stochastic flexibility problems and other procegstam engineering problems.
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CHAPTER IV
TECHNO-ECONOMIC ANALYSIS OF A LIGNOCELLULOSE-TO-
HYDROCARBONS PROCESS VIA THE CARBOXYLATE PLATFORM

In Chapter I, a methodology to quickly synthesarel screen biorefinery pathways
was developed. From a promising pathway, flexiblenceptual biorefinery
configurations that can accommodate uncertaintyvamitions of inputs were designed
using the novel design strategy and solution agbraa Chapter 1ll. This chapter is a
further step in the process of biorefinery design.

In this chapter, a technical and economic analydisa biofuel process was
performed. Data were obtained from sources thaaamauch reliable as possible to the
authors. The biofuel process has additional dowastrunits to convert mixed alcohols
into hydrocarbon fuels. The ensuing sections agargezed in a similar order to the
sequence of the techno-economic analysis: (1) exereof the process, (2) technical
analysis, (3) economic analysis, and (4) sensjtaitalysis.

4.1 Introduction

Technologies for renewable fuels from biomass aggd developed to reduce
dependence on imported petroleum, decrease gresmlgas emissions, and improve
national security. Many biochemical and thermocloaipathways have been proven
technically; however, high production costs havevpnted many pathways from being
economically viable without government subsidiesguFe 17 summarizes typical
pathways to produce hydrocarbon fuels from biomésalcohols.

* The sugar-to-alcohol pathway represents indugtrizdluction of bioethanol from

sugarcane in Brazil.

» The starch-to-alcohol pathway uses amylase enzymgsoduce intermediate

sugars, which is exemplified by the corn-to-ethandustry in the United States.

» The lignocellulose-to-alcohol pathway uses cellelasnzymes to produce

intermediate sugars, which is in the process afigpeommercialized.
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* The thermochemical pathway gasifies biomass intmay (CO + H), which is
then catalytically converted into methanol or etilan
* The lignocellulose-to-alcohol pathways use mixedtucas of acid-forming
micro-organisms to produce intermediate carboxglé@@nmonium carboxylates
in Path A, calcium carboxylates in Paths B and Wjch are described as
carboxylate platforms. Via pure-culture fermentatithe carboxylate platform is
described by Agler et &f.
The first three biochemical platforms require agegermentations, which is
expensive. Further, because of its recalcitrancentwymatic hydrolysis, lignocellulose
requires high cellulase loadings. The carboxylathways produce fuels and chemicals

from biomass without encountering those problems.

Starch crop
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Figure 17. Pathways for converting biomass to hydrocarboisfue

In terms of intermediate chemicals, the pathwayswshin Figure 17 employ three
platforms: sugar, carboxylate, and syngas. Holteappd Grandfa®* showed that the
carboxylate and sugar platforms give the highesbritical yield of lignocellulosic
biomass to hydrocarbon fuels when the three platsowere compared using the same

ideal biomass feedstock. The biomass compositios assumed to consist of 31.7%
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lignin and 68.3% polysaccharides on an ash-freespasich is similar to compositions
found in hardwood biomass. The theoretical enerfficiency of the carboxylate

platform is equal to that of the sugar platform dmgher than that of the syngas
platform.

When producing hydrocarbons from alcohols, dehyainatauses a mass loss of
30% (isopropanol), 39% (ethanol), and 56% (methafdle theoretical loss of energy is
2% (isopropanol), 5% (ethanol), and 10% (metharB§sed on these examples, the
pattern is clear: higher alcohols have greaterntiete of mass and energy when
converted to hydrocarbons. The carboxylate platforran produce higher alcohols
(propanols and higher) than the other platforms.

A key feature of the carboxylate platform is thenfentation, which employs a
mixed culture of acid-forming microorganisms to weert biomass components
(carbohydrates, proteins, fats) to carboxylatessdlhe process does not require aseptic
conditions, which lowers capital costs and improeggrability. The microorganisms
produce their own enzymes — a type of consolid&iegrocessing — which reduces
operating costs compared to traditional enzymattbyways. Depending on the choice of
buffer, the salts are ammonium carboxylates (beffeby NHHCO;) or calcium
carboxylate (by CaC%). Via Pathway A (Figure 17), ammonium carboxylatee
processed by esterification and hydrogenolysisclvigroduces a mixture of primary
alcohols. Because there is almost no carbon lass fsiomass to final products, this
pathway has a high theoretical overall alcohold/i&lia Pathway B (acid springing), the
calcium carboxylates are converted to the corredipgncarboxylic acids. From the
acids, mixed alcohols are produced by esterificaginod hydrogenolysis. Via Pathway C,
calcium carboxylates are thermally converted ingiokes, which subsequently are
hydrogenated into a mixture of secondary alcoHol¢he latter route, the overall alcohol
yield is lower than that of the former, but it doed demand as much hydrogen.

Biomass-to-fuel pathways via the carboxylate platfdhave been researched and
developed for 20 years in Dr. Mark Holtzapple’'se@sh group at the Department of
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Chemical Engineering, Texas A&M University. The hrologies have been further
developed and licensed by Terrabon, Inc. undetréitemarked name MixAIcH.

Previous work on MixAlcd" process economics includes a study by Holtzapple e
al®” who estimated the economics of the calcium carasayplatform (Pathway C)
using municipal solid waste or sugarcane bagasskeeastocks. For the dewatering
process, they employed water extraction with amares multi-effect evaporation. Lau
et al®® evaluated the production of ethanol from sweeglsom via the acid springing
platform (Pathway B) using various scenarios ohplacation, capacity, and incentives.
Granda et a1° analyzed the process economics of the ammoniuboxgiate pathway
(Pathway A) using municipal solid waste as feedstodifferent scenarios of hydrogen
sources and prices.

This chapter performs a techno-economic analysis tfe lignocellulose-to-
hydrocarbons pathways using the calcium carboxykt#orm (Pathway C) with vapor-
compression dewatering, which is a version of thieAito™ process. Pham et HI.
performed a similar techno-economic analysis aftfardnt plant capacity. Compared to
previous efforts, this work emphasizes processh&gis, integration, and analysis with
simulation in Aspen PIu¥, equipment cost estimation from Aspen Process Huoano
Analyzer and the most updated experimental data and ceit. ba
4.2 Approach

The techno-economic analysis was performed in ki steps as shown in Figure
18.

» Development of process flow diagrams: From expemntale data on key
conversion and separation steps, designs for & ptanoommercial scale were
developed. All equipment necessary for conversgaparation, transportation,
treatment, and storage is identified.

e Simulation and calculation of mass and energy k&larProcess simulation
software Aspen Plus90 was used to simulate the epsocSome biofuel
components (e.g., lignin, xylan, xylose) are noai@ble in the Aspen Plus

database. They were added to the simulator in edefined database, called
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Inhouse Database (INHSPCD) in Aspen Plus, usingnastd properties from
NREL®*% A few reactions (for example, pretreatment, waséatment) and
separation (filtration, drying, crystallization) veedifficult to simulate in Aspen
Plus and therefore were treated as a “black baxiukition. Mass balances of
these units were given from experimental data timesed by heuristics. As a
result of this step, flow rates of every streamiitytdemand, and energy
generation were available in the simulation results

Process integration: In this integration step, phecess design was modified to
minimize overall consumptions of resources: chetsjcesh water, external
energy demand, make-up solvent, etc. Two typesaufgss integration problems
were performed: (1) heat integration of heat exgeametworks using pinch
analysis to target simultaneously the minimal mgatand cooling utility
demand* and (2) recycle water and other chemicals to mireniresh usag®,
After the targets were identified, integrated heathanger networks and recycle
strategies were synthesized so the overall consampf fresh resources was
close to the target values, subject to the comdtthat the processes be practical
and readily controlled. The integration results evénen used to update the
simulation models, mass balance, and energy balance

Equipment sizing and costs: Most of the simulatmodels in Aspen Plus
calculated the equipment size, which were detadtgaligh to estimate equipment
costs in Aspen PEA software.91 For unconventiorglipment that is not
available in Aspen PEA, their costs were obtainsanf vendor quotes or
estimated from the literature. For example, som@pegent common in biofuel
process — but not found in the software — are haesport and unwrapping
conveyers, truck scales, belt filters, clarifieaigd large digestion tanks. A good
source of literature references for such equipmenthe techno-economic
analysis reports of NREt3?"?°|f an equipment cost is referred to the literature

the reference cost is scaled to appropriate capawith scaling exponents
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reported by Walla$® and is updated to year 2010 dollars using the Gtam
Engineering’s Plant Cost IndéX.

Project economic and sensitivity analysis: The nestéd equipment costs
account for equipment only, i.e., the costs of pouEnt materials and
fabrication. Other project costs (e.g., equipmendtallation, instruments and
piping, construction, building, contingency) weresamed proportional to the
equipment costs by predefined factors. For biochahprocessing equipment,
the factors are employed from the NREL metfbdror traditional chemical
processing equipment, the factors are employed fienLang method® Cash
flow analysis was performed to evaluate projectheoaics in a base case. After
that, sensitivity analysis was performed to ingeg2 how the project economics
were sensitive to technical performance (e.g.,dgieconcentrations, capacity,
heat transfer coefficient, temperature approachatEnt heat exchangers) and
economic assumptions (e.g., raw material pricetgr-#ix discount rate, cost

estimation uncertainty).

Development of process flow diagre

A\ 4
Simulation and calculation of mass and ene

A 4
Process integratic

A 4
Equipment sizing and co:

A 4
Project economic and sensitivity ands

Figure 18. Major steps of the techno-economic analysis.
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These are five essential steps; however, a bidaeino-economic analysis is not
limited to these steps. In addition, the followisgues must be considered:

» Plant capacity, location, and logistic systemsditect biomass feedstock

* Type of feedstock

» Life cycle assessment and greenhouse gas emission

» Technology alternatives of key conversion steps
These issues are out of the scope this work, keyt #re interesting topics for future
work.

4.3 Technical analysis
4.3.1 Process description

Figure 19 depicts biomass-to-hydrocarbons via tHeAMo™ process. To make
hydrocarbon fuels, the MixAldd' process has the following steps: (1) pretreatrmaft
lime, (2) fermentation with a mixed culture of aéa¥ming microorganisms to obtain
carboxylate salts, (3) dewatering with a high-edincy vapor-compression evaporator,
(4) thermal conversion of salts to ketones, (5)rbgédnation of the ketones to mixed
alcohols, and (6) oligomerization of alcohols talfgcarbons using zeolite catalysts.

The biomass feedstock must contain a source ofggrend a source of nutrients.
Examples of energy sources include sorghum, bagasseicipal solid waste, office
paper, paper fines, rice straw, water hyacintheeggple waste, and aloe-vera pulp.
Examples of nutrient sources include food scrapsage sludge, or manure. In addition,
chemical nutrients (e.g., urea, ammonia, ammoniicarbonate) can be added to supply
essential minerals. In this techno-economic anglyf@irage sorghum and manure are
used as the feedstock in a recommended ratio @08rghum:manur€® Sorghum is
an energy crop that has been well studied and dpedlat Texas A&M University.

If the biomass has significant lignin content sitpretreated with lime, which can be
recycled using downstream processes. In the featient the nutrient source is mixed
with the pretreated biomass. From the ketonizatieactor, calcium carbonate is
recycled to buffer the fermentation, which producgsbroth of mixed calcium

carboxylates. In the descumming and dewatering tivétbroth is concentrated to obtain
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solid salts, which are then thermally converted ké¢tones and calcium carbonate in the
ketonization unit. Then, the ketones are hydrogahamto mixed alcohols. Potential
sources of hydrogen include fermentation brothifigaisfermentation residue, reformed
methane, and water electrolysis. In the base dagipgen is recovered in the plant
from fermentation gas and shifted syngas. The m@alhydrogen is sufficient to meet
the demands of ketone and olefin hydrogenation.mike hydrocarbons, the mixed
alcohols are dehydrated and oligomerized to proaileens, n-paraffins, iso-paraffins,
and aromatics with boiling ranges of gasoline aedogene depending upon reaction
conditions employed in the oligomerization reacfne light fraction can be used for
gasoline and the heavy fraction used as jet fueliniprove product quality, the olefins

can be saturated.
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Figure 19. Simplified process block diagram of the analyzedAlto™ process
(Pathway C).

In one process option, the undigested fermentatemidues (about 20% of the
biomass feed) is gasified and processed via cogioey steam-gas shift, and pressure-

swing adsorption (PSA) units to generate steam,epoand hydrogen for the plant.
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Using Pathway C, hydrogen from gasified biomassduesand fermentation gas are
sufficient to supply the hydrogen needs of the plan

In the MixAlco™ process, the fermentation broth contains 2 — 6B%,sahich is
concentrated using vapor-compression and crysa#ithz units. The recovered distilled
water is recycled to the fermentation and pretreatmWater entering with the biomass
feed is purged as distilled water, which can bd ssla by-product.

Pretreatment and Fermentation

In principle, any chemical or physical pretreatmemtthod can be used in the
MixAlco ™ process; however, lime pretreatment is the besicetfor purposes of mass
integration, reactor design, and operation. Redytitae from the lime kiln is assumed
to contribute 65% of lime demand in the pretreatmeith the 35% make-up lime
purchased from external vendors. Using lime, thetrpatment can be performed in
simple inexpensive pile reactofsPile pretreatment integrates with fermentatioesih
a round-robin system, in which biomass solids ae& hn the same pile for both
pretreatment and fermentation. Although the residetime of pretreatment (6 weeks)
and fermentation (up to 8 weeks) is long, the rerofn system results in steady
flowrate and product concentration in the broth.

Using a mixed culture of microorganisms is the Kemture of the MixAlco"
process. These microorganisms not only digest tgxbates, but also proteins and fats.
For food wastes, this advantage gives a signifigamigher overall yield than other
common fermentation methods. The MixAltoprocess does not require sterilization or
external enzymes, which reduces capital and operatists. Consequently, reactors do
not require stainless steel, and can be construsieg low-cost materials (e.g., concrete
or plastic) that support piles or submerged fermugon. Holtzapple et & discuss the
design of submerged fermentation ponds.

Figure 20 depicts a pile reactor. Shredded bionmgsled up on 1-meter-thick
gravel bed which is used to filter water drainingnh the pile. The water is pumped back
to the top. Underneath the gravel layer is a geoibrane layer to isolate the system

from surrounding soil. The pile, which is up to 80high, can be used for pretreatment
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and fermentation. In pretreatment mode, air is blawough a scrubb to remove
carbon dioxideand dischargeto the bottom of the pilen fermentation mode, the pi
must be covered by gec-membrane and air is not introduced to maintain e
conditions.To remove odors, fermentation gases are dischdahgedgh a biofilte

Geg-membrane

<

|
)

Pretreatment

Pretreatment
Fermentation
broth protuct

Fermentation
broth

Figure 21. Roundrobin operation (darker boxes represent older fating piles.
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The pretreatment and fermentation piles are inhbaperation with a total residence
time of up to 11 weeks. In contrast, the downstressations operate in continuous
mode. The pretreatment and fermentation configumatvas designed to operate in a
round-robin system to minimize fluctuation of ottfermentation concentration and
flow rate. Figure 21 delineates a round-robin gysté six pile reactors. A reactor can be
in pretreatment mode and later in fermentation mattea given time, one of the
reactors is being loaded or unloaded, one is itrgament mode, and the other four are
in fermentation mode but at different extents ofiversion. Reactor 2 is the oldest and
Reactor 5 is the newest fermentation. Althoughdsbiomass does not move, water flow
is countercurrent with fermentation maturity. Freshater is pumped to the oldest
fermenting pile, circulated internally, and pumpedhe next newer pile. As a result, the
most dilute broth contacts the most digested bignzasl the most concentrated broth
contacts the freshest biomass. This countercuae@ingement allows for both high
product concentrations and conversions.

Dewatering

In the base-case scenario, calcium carboxylate ezdration in the fermentation
broth is assumed to be 5% weight. Other compon@ngs, dissolved carbon dioxide,
microorganisms, undigested biomass, and other wmks)pare impurities and must be
removed along with water. To purify the carboxylatdts, the broth is degassed by
stripping, descummed using flocculant, evaporateith wapor compression, and
crystallized (Figure 22).

Distilled Distilled
CO, Flocculant water water
Fermentation T T T Solibd C?Iciurr
L e — _ ——— carboxylates
brotr ,/Begasificatio—»{Precipitation—»|Vapor compressidr—»| Crystallizatio s

Scum

Figure 22. Simplified process block of the descumming andatewng unit.
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Figure 23. A parallel configuration of multi-effect vapor-cqmession evaporator.

The key to efficiently vaporizing water is the nbdesign and optimized operating
conditions of the vapor-compression unit. Figura2& simplified process flow diagram
of the vapor-compression unit. At high pressurebéss), the descummed broth is
preheated by countercurrent exchange of heat fromdugt streams (which contain
condensed water), and then is evenly split intoyrsaages. The figure shows six stages,
but there can be tens of stages in practical plémthis work, six stages were chosen. In
every stage, the inlet streams pass through a vak a heater to be adjusted to
saturation conditions. After that, they enter lategat exchangers and use heat from the
condensing vapor of an adjacent stage to vaporaternfrom the fermentation broth.
The vapor from the first stage is compressed tmhen temperature and pressure, and
then is saturated so it readily condenses andfaankeat to the last stage. In Figure 23,
the pressure profile of the latent heat exchangmreases from left to right. With this
profile, vapor from the right adjacent stage haghér temperature than the salt solution
in the left adjacent stage; hence, heat transfeursc Using copper plates with a

hydrophobic coating to promote dropwise condensatim extremely high overall heat
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transfer coefficient of 240 kW/(fK) (42,200 Btu/(Ht*F)) was achieved usingT = 0.2
K at the laboratory scaf8>°*This allows a very small temperature approachr§ o
0.20 K (0.36F) while maintaining a high heat flux of 48 kWimAs a result, the
compression ratio of the compressor is small, wisabhes both associated capital and
operating costs. The net energy consumption ofdyr compression unit is only 1.45
kWh per nf (18.8 MBtu/1,000 gallons) of water vaporized, ddoaD.14% of the latent
heat vaporization of the same amount of water.
Ketonization

The solid salts are sent to a dryer to remove wesichoisture (Figure 24). At high
temperatures (43Q) in the ketonization reactor, calcium carboxydase thermally
converted into ketones and calcium carbonate

R-COO Ca COO-R> R-CO-R' + CaC@

where R and R' represent hydrocarbon groups. Tdwaeis kept under vacuum (30 mm
Hg) which reduces residence time to avoid deconmgoghe produced ketones. The
ketone vapor is quickly removed from the reactoiergghed, and condensed. Part of the
calcium carbonate is directly recycled to the famtoes and the remaining portion is
converted into quick lime (CaO) in a kiln. The dulane is recycled to the pretreatment
reactors. Unlike conventional lime kilns that age toarse limestone, this kiln processes
fine calcium carbonate powder; thus, some procgssieps (grinding, drying) are not
needed.

Non-condensables

W Drying—»] Ketonization
calcium CaCQ

L » To fermentation

v
[Lime kiln_|—» To pretreatment Ketones

Figure 24. Simplified block diagram of the ketonization andé kiln unit.

carboxylates
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Ketone hydrogenation

In this conversion step (Figure 25), the ketondaayl groups react with hydrogen

to form alcohol groups in an exothermic reaction:
R-CO-R' + B > R-CH(OH)-R'

The reaction is performed at high pressure (55)bangl at isothermal (130)
conditions. The optimal design was found to begt@&TRs in serie¥> In each CSTR,
liquid ketones, solid Raney nickel catalyst, androgen bubbles are well mixed. The
heat of reaction is recovered by a pump-arouncesysHydrogen is fed to every CSTR
in 20% excess to maximize the ketone conversiore i@t demand of hydrogen is
0.0225 kg H/kg mixed alcohol (25.0 SCF per gallon of mixedoailgls) or 0.00687 kg
H./kg dry ash-free biomass (1.30 SCF per dry ashgdoemd of biomass). The produced
mixture of secondary alcohols can be directly usgd transportation oxygenated fuel
like bioethanol, but it has higher energy conterdt (heating values are 34.6 and 26.8
MJ/kg, respectively).

Light hydrocarbons

for gasoline
Ketones Ketone Alcohols_[ Dehydration and - Olefin ——
hydrogenatio oligomerization hydrogenatiom
Water Heavy hydrocarbons
for jet fuel

Figure 25. Simplified block diagram of ketone hydrogenatidahydration &

oligomerization, and olefin hydrogenation units.

Dehydration and oligomerization
The mixed alcohols are further processed to prodhydeocarbon fuels (Figure 25).
Using H-ZSM-5 catalyst in a reactor at 8G0and 3 bars, the alcohols are dehydrated:
R-CH(OH)-CH-R" > R-CH=CH-R" + HO (91)
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In the same reactor, the produced olefins are wlggzed as shown in the following
simplified reaction:

CrHam + CiHan = CrnenHameon (92)

Depending upon the specific reaction conditionséti pressure, temperature), the
products are very complex and include olefmparaffins, iso-paraffins, aromatics, and
cyclics. Water dissolved in the hydrocarbon produstremoved in a drying unit using a
salt filter.

Olefin hydrogenation

To improve fuel quality, the olefins can be hydmogied to make corresponding
paraffins (Figure 25). Similar to the design of #etone hydrogenation, this conversion
unit employs CSTRs in series with Raney nickel lgataThe carbon double-bond C=C
is saturated to stabilize the hydrocarbon product:

CiHox + H2 2 CiHowz (93)

In this step, the net demand of hydrogen is 0.Ki38l,/kg hydrocarbon fuels (15.4
SCF per gallon of hydrocarbon fuel) or 0.0034 kgki dry ash-free biomass (0.64 SCF
per dry ash-free pound of biomass). Out of the towache mixed hydrocarbons are
distilled into G- and G. fractions. The light fraction and heavy componeats be used
as blending components for gasoline and jet fespectively.

Hydrogen source

Hydrogen is required to produce alcohols and seturgdrocarbons. Two scenarios
of hydrogen sources were analyzed.

In the first scenario, hydrogen is produced by fgagj undigested biomass from the
fermentors. The investment includes not only geaifon, but also cogeneration, steam-
gas shift, and pressure-swing adsorption (PSA, sestion) to supply hydrogen, steam,
and power for the plant. Figure 26 shows the gasifin and cogeneration processes in
this scenario. First, the small amount of the bissnrguspended in the pretreatment liquor
is recovered in filtration. Then, that filtered bnass is mixed with fermentation residue
and dried in a rotary dryer using flue-gas heateAflrying, the moisture content in the

biomass is about 10%. In the next step, the drieth&ss is gasified to generate syngas
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and byproduct char. Energy from the hot syngasseslito make high-pressure steam,

which is expanded in a steam turbine to generatepo

Alr Syngas Steam
Fermentation residue l T
Pretreatment— - * Y Syngas L Steam |Steam turbine 4§
qur’] Filtration|—{ Drying || Gasnlcaﬂor{—b&—» bower generation
Char Electricity

Figure 26. Simplified block diagram of gasification and cogeation unit.

Syngas

Biomass
residue

» Char

Gasification chamber

Figure 27. Schematic of the atmospheric biomass gasifier.

Figure 27 shows the gasifier, a fluidized-bed fokal by two cyclones that
effectively remove particulates (char, ash) from siyngas® Atmospheric-pressure air,

but no steam, is introduced to the gasifier, whieuires only a simple control system
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and low-cost cyclones. The capital cost of thisifgasis only 25% of commercial
pressurized gasifiers that use sté@hiThere are multiple uses for the char recovered
from the cyclones: (1) add to soil to sequesteb@arand improve fertility, (2) sell to
coal-fired power plants to provide “green” fuelfida(3) burn at the plant to recover
alkaline ash that can be used to replace limedrptktreatment.

In the second scenario, hydrogen is not producdderplant but is purchased from
external sources, such as pipelines or oil refaserin this scenario, the gasification and
cogeneration unit is retained to use biomass resitlugenerate steam and power, but an
additional combustion chamber is installed afte @yclones to completely burn the
syngas and produce more steam and power.

Steam-gas shift and pressure-swing adsor ption

This section is only needed when hydrogen is preduc the plant (as described in
Scenario 1). More hydrogen is made using the sé#ttion between steam and carbon
monoxide:

H,O + CO-> H, + CO, (94)

Because of the compositional characteristics of siiegas, a one-stage shift is
sufficient for high conversion and low residenaedi The hydrogen-rich syngas, along
with fermentation gas, is passed through molecsiave beds in the pressure-swing
adsorption unit, which purifies hydrogen. Both lné$e technologies are well developed.
4.3.2 Maximal theoretical yields

Theoretical yields in biofuel processes can be Bimgalculated from the
stoichiometry of the representative reactions; haseidentification of representation
reactions is difficult in some cases. The ensuimgaéions are representative reactions of
the key conversion steps of the carboxylate platfdn practice, because of the mixed-
culture fermentation, there are no pure intermedcdtemicals. Instead, there are many
chemicals with the same functional groups at eamhversion step. Nonetheless, the
lowest molecular weight chemicals are used to mreintermediates so the maximal
theoretical yields can be determined. For exanmgieal acetic is considered as the only

intermediate in the acid-forming fermentation prody acetone is the only intermediate
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ketone, and isopropanol is the only intermediateotal. The final product was
represented by a compound that has the physicpepies close to the real final product
(e.g., octane, §Hg, is used to represent gasoline).

If feedstock is assumed pure celluloseH(Os), the ideal conversions follow:

* Fermentation: 2 gH,00s + 2 HO + 3 CaCQ@—> 3 Ca(CHCOO), + 3 CQ

+3H0  (95)
* Thermal conversion: Ca(GHOO), 2> CHCOCH; + CaCQ (96)
» Ketone Hydrogenation: G@OCH + H, > CHCHOHCH; (97)
« Dehydration: GBHOHCH; > CHCH=CH, + H,O (98)
* Oligomerization: 8 GBH=CH, > 3 GHs¢ (99)
* Olefin hydrogenation:  #E16 + H > GHgg (100)

The overall reaction is 16¢H:00s + 33 H, > 9 GHig + 24 CQ + 32 HO (101)
where the molecular weights of cellulose and gaso|GH;s) are 162 and 114 kg/kmol
respectively. The mass yield of the final prodsct i

9x114
16x162

=0.396 tonne of gasoline per tonne of cellulose. (102)

Assuming the specific gravity of the gasoline i§40.tonne/m, the theoretical

volumetric yield of the final product is:

0.396tOIrme gasohnex L X 264%”02 14 gallons of gasoline per tonne
tonne cellulose 0.74 tonne m
of cellulose. (103)

The overall reaction shows that about 25% of thearais lost as carbon dioxide in
the fermentation step. Other theoretical yield ésssesult from oxygen removal as
carbon dioxide and water produced in the fermeoriadaind dehydration steps.

The maximal theoretical yields from specific biomdsedstocks are lower than 141
gallons per tonne because there is no practicahdss feedstock containing pure
cellulose. (Note: Waste office paper has a comjposibf 87.4% cellulose, 8.4%
hemicellulose, 2.3% lignin, and 1.9% d8hwhich is very close to pure cellulose.) In
addition, in the carboxylate platform, the optinttdmass feedstocks consist of 80%

carbohydrate source and 20% nutrient source. I dhalysis, the plant uses forage
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sorghum (77.1% carbohydrates, 15.2% lignin, ando7agh) for carbohydrate source
and manure (48.0% carbohydrate, 16.6% lignin, &md% ash) for nutrient source in a
ratio of 80:20 respectively. The maximal theordtigald of the plant is

0 0,
141x 4x77.1%+ B 48.0% 101gallons of gasoline per dry tonne of biomass 4j10

5
Lignin and ash are not fermentable and all carbodtgd are assumed to be cellulose.

Table5. Key process performances.

Unit Parameter Value
Pretreatment Make-up lime demand 0.054 g CaO/g biomass
Total lime loading 0.15 g CaO/g biomass
Reaction time 6 weeks
Fermentation Conversion 0.8 g digested/g volatile solids fed
Selectivity 0.62 g carboxylic acids/g volatile solids digested
VSLR 3.00 g VS/(L liquid- day)
LRT 28 days
Product concentration 40 g acids/L liquid
Reaction time 32 days
Substrate concentration 10%
Dewatering Carboxylate recovery 95%
Heat transfer coefficient 240 kW/(nf-K)
Temperature approach  0.20 K
Cost of latent heat $155/nt
exchangers
Ketonization Conversion 99.5%
Yield 0.583 g ketones/g carboxylic acids
Ketone Conversion 98.4%
hydrogenation
Dehydration &  Light hydrocarbon yield 0.6 g light hydrocarbon/g alcohols
Dimerization Heavy hydrocarbon yield 0.2 g heavy hydrocarbon/g alcohols
Olefin Conversion 98.4%
hydrogenation

Gasification &
Cogeneration
Steam-gas shift
& PSA

The whole plant

Gasification temperature  760°C

Solid-to-air ratio

0.625

Steam-gas shift temperatu@2s4°C

Hydrogen recovery
Gasoline yield
Jet fuel yield

95%
57 gallons/dry-ash-free tonne biomass
19 gallons/dry-ash-free tonne biomass
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4.3.3 Process performance

Table 5 summarizes key process performance paresneted to calculate mass and
energy balances in the base case. The performanaeits in the main route (i.e.,
excluding units that process fermentation residhay been proven at the laboratory
scale. A yield of more than 70 gal hydrocarbon foed tonne of municipal solid waste
was reportedly achieved at the demonstration $84l€he performances of residue-
processing units were typical values from literatuliscussed above. In this techno-
economic analysis, these performances are asswnss dchieved in commercial scale
of then™ plant.

The pretreatment unit consumes a significant amafinime, most of which is
available from recycle. In fermentation, the maksavboxylic acid products is half the
mass of volatile solids fed. The long residenceetiof pretreatment and fermentation
requires large piles, which have a volume of 600,68 each. In a practical plant, the
yield losses result from by-products (see preveeigion), but also incomplete chemical
conversions and partial recovery of main productsseparation steps. The final
products, hydrocarbon fuels, are fractions of gasadnd jet fuel produced in a ratio of
3:1.

4.3.4 Process simulation

In Aspen Plus simulations of biofuel processes,spia} properties of some key
biomass components and biochemical reactions dravadable from standard software
databases. Most of them are unconventional comoand their properties are difficult
to estimate using available property predictionhods.Wooley and Putsctieat NREL
has built a database of some biofuel componentsattegapresent in lignocellulose-to-
ethanol processes. The components are cellulogeosg, xylan, xylose, lignin, zymo
(bacterium), cellulase (enzyme), soluble solidsl gmpsum. The authors collected their
physical properties from the literature and estedanissing ones when necessary. The
properties were coded in appropriate format todmegnized as an in-house datab¥se

by Aspen Plus and are called whenever needed.
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Based on the key performance data (Table 5) fropemxents, the entire process
was simulated in Aspen Plus to calculate detailedsrand energy balances. Table 6
summarizes the types of Aspen Plus models usedmolate key processing units. In
general, the conversion steps with well-definedctiea stoichiometry and vyields
(hydrogenation and dehydration) were simulated ey RStoic model. The RGibbs
model simulated the conversions in which multigaatants randomly react in the same
types of reactions to yield multiple products withe same functional groups

(ketonization and dimerization).

Table 6. Aspen Plus models for key processing units.

Processing units Aspen Plus models  Calculated peam
Pretreatment reactor RStoic Heat of dissolving limeater
Fermentation reactors RStoic Heat of reactions

Latent heat exchangers HeatX Heat transfer area
Ketonization reactor RGibbs Yields and heat of tieas
Hydrogenation reactors RStoic Heat of reactions
Dehydration reaction RStoic Heat of reactions
Dimerization reaction RGibbs Yields and heat ottems
Drum dryer Flash Heating utility consumption

> o
11-GAS

6-WATER
7-UREA
4-CACO3
LENDER FERMENT —4 BROTH(OUT) p
PRETPR OD(IN)>————3-10PROD 5-SLURRY
[2] £>—810DOFO
CONVEY-1 13-RESID
FERMENTATION

1-SLUDGE

Figure 28. Simulation of the fermentation unit in Aspen Plus.
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The pretreatment and fermentation reactions afedifto simulate because of their
complexity. The RStoic model was used to simulaetigily what happened in the
reactors. For the pretreatment, only the heat efalving quick lime in water was
estimated; lignin degradation was treated as ackbbmx,” i.e., no simulation was done.
For fermentation, the experimental yields and asslirmechanism were used to
calculate the conversion of intermediate reactiona preprocessing step without aid
from Aspen Plus; then, the reactions with calcalatenversions were simulated by the
RStoic model in Aspen Plus to reproduce the yialu$ estimate energy balance. Figure
28 shows the simulated process of the fermentatation in Aspen Plus.

Other processing units that are difficult to simelan Aspen Plus (for example,
waste treatment, filtration, drying, crystallizatjowere treated as “black boxes.” Mass
balances of these units were available from expartal data or estimated by heuristics.
4.3.5 Process integration

In the simulation, the heat exchanger network waiegrated by identifying
opportunities to save heating and cooling utilignsumption. Pinch analySfswas
applied to determine the savings target. Figurde&fficts a grand composite curve of the
heat exchanger network. Below the pinch point iscave, which indicates that if the
network is ideally integrated, no cooling utilitg ineeded and the heating utility
consumption is significantly reduced. Table 7 showes reduction is 60% as compared
to the scenario of no-integration or heat recovelgwever, in a practical design, some
hot and cold streams should not be integrated tadaaw complex control system, even
though it is possible. For example, process straamsigh condenser, reboiler, and heat
exchangers used to finely tune temperatures wereansidered in the integration. So,
the expected integration needs some more cooliddhaating utility, which are reported
in the last column of Table 7.

Water balance is another process integration pmolitebiochemical processes. As
in other biochemical platforms, the carboxylatetfplem demands a large amount of
water in the fermentors. Water needs to be remdvech the main fermentation

products in followed-up separation units. In otbarchemical platforms, the recovered
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water is usually treated to meet the required fetateon conditions. In contrast, water
in the carboxylate platform is distilled by energgving vapor compression. The high
quality of vaporized water and low quality requirams for fermentation broth allows

water recycling without treatment, which slightgduces production costs (Table 8) and
significantly makes the process more sustainallendt balance, the plant generates

surplus distilled water, which is about equal te tmoisture content in the biomass
feedstock.

800
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Figure 29. Grand composite curve for heat integration offteat exchanger network.
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Figure 30. Recycle of water and chemicals.
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Table 7. Utility consumption in targeted and expected soesaf heat integration.

Utility No integration  Targeted integration  Expetttategration
Heating utility (GJ/h) 1,720 726 616
Cooling utility (GJ/h) 994 0 110

Recycling lime and calcium carbonate is anotheraathge of the carboxylate
platform compared to other biochemical platformbjcl allows lime pretreatment to be
applied very effectively. The pretreatment unituiegs 1.5 tonnes of lime for every 10
dry tonne biomass fed (Table 5). The calcium flotisough the pretreatment,
fermentation, descumming, and dewatering units galeith the main products, and is
finally recovered in the ketonization unit as catoi carbonate. Part of the calcium
carbonate is directly recycled to the fermentorsbaffer. The remaining calcium
carbonate is conveyed to the lime kiln (Figure ®0Oproduce lime, which is recycled to
the pretreatment unit. As a result, a significargfgaller amount of make-up lime is
needed (Table 5) and operating costs were significeeduced (Table 8).

Table 8. Savings from the recycle of chemicals.

Chemicals Fresh Fresh calcium Fresh lime
water  carbonate (CaC§) (CaO)
Consumption without recycle (tonne/h) 1,840 45.7 230
Consumption with recycle (tonne/h) 0 0 10.7
Reduction (%) 100 100 65
Prices ($/tonne) 0.13 66 70
Saved costs ($MM/year) 1.91 24.1 10.9
Saved costs ($/gal product) 0.016 0.198 0.090

4.3.6 Energy efficiency analysis
The maximal theoretical energy efficiency of celkg-to-gasoline conversion via

the carboxylate platform is 89.4%. It can be detifeom the overall reaction (see
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Section 3.2) given the higher heating values ofutmde (17.6 MJ/kg}® hydrogen
(141.8 MJ/kg)® and gasoline (asgBlis, 47.9 MJ/kg.°

For the analyzed plant, 80% of the biomass feellstbdorage sorghum (77.1%
carbohydrates, 15.2% lignin, and 7.7% ash) ande¢heining 20% is manure (48.0%
carbohydrates, 16.6% lignin, and 35.4% ash). Whth higher heating value of lignin
(29.5 MJ/kg)'® and ash (assume 0 MJ/kg), the higher heating \a@fitiee feedstock is
17.1 MJ/kg. The maximal theoretical energy efficigrof the plant is calculated to be
81.0%.

Biomass
| 95c MW

Process  |Hydrocarbon fuel
535 MW

Heating utility

| 171mw

Chemicals Other forms of_energy
| 78 mMw 671MW

Power

| 7mw

\VAVAVAV

Figure 31. Energy balance of the plant.

In the above calculations of the two maximal thdoat energy efficiencies, it was
assumed that the process had no input source ofj\emm¢her than the biomass and
hydrogen. To operate the process in practical planbre energy inputs are needed in
the form of chemicals, heating utility, and eledtsi. All sources of energy inputs for the
analyzed plant are summarized in Figure 31. Fombgs, chemicals, and hydrocarbon
fuel, the energy loads are based on higher heatihges at the standard condition (i.e.,
sensible heating values are negligible). The twofalit energy and energy contained in
the products are is 1,206 MW and 535 MW, respelstivEhe energy efficiency of the
plant is therefore 44.4%.
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4.4 Economic analysis
4.4.1 Analysis procedure and basis

The economic analysis starts by estimating purchaspiipment costs in Aspen
Icarus Process Evaluatdrwhich are based on the equipment size. Some eeuipm
sizes (e.g., compressor power, heat exchanger digdlation column diameter and
height) were reported in the simulation result®\gpen Plus whereas others (e.g., sizes
of crystallizer, drum dryer, and clarifier) werdiesated by using reliable heuristics and
assumptions’*® If package quotes were available from the litetor vendors, those
guotes were used instead of estimating the costs fndividual pieces of equipment.
Scaling factors for estimating equipment costs atious capacities are referred to
NREL,?® which in turn took most of the scaling factorsnrawallas?” These scaling
factors are summarized in Table 9 and are defisddllws:

Capacity

Scaling factor
CapacityAB)

Equipment cost B (Equipment cost Ax ( (105)

After that, other relevant costs to build the plamre estimated as factors of the
purchased equipment cost. For pretreatment, featienf and support units (waste
water treatment, storage, and utilities), this wenkploys the modified factor method of
NREL?® (which is suitable to aqueous-based processes. Mbiification has a five-
fold higher contingency factor than the original BIRmethod. Lang factots for fluid
processing were applied for other units, whichsam@lar to chemical and petrochemical
processes. The factor values of those two methadsampared in Table 10. The total
capital investment costs are 3.5 and 6 times thehased equipment costs, using the
modified NREL method and the Lang factor, respetyivThe main difference comes
from the installation factors.

Subsequently, cash flow and financial models wevastucted to evaluate the
project economics. The basis and assumptions dbdke-case models are presented in
Table 11. The federal income tax rate, the deptieciamethod and period were
recommended by NREL after a review on Modified Aecsted Cost Recovery System
(MACRS)"? issued by Internal Revenue Service. No subsidiesncentives were

applied.
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After the financial model for the base case wadtbiie minimum product selling
price (MPSP) was determined. It is the hydrocarbael price that results in a net
present value of zero in the cash flow with a pfieée after-tax discount rate. To
simplify the economic analysis, the gasoline artdfyel prices were assumed to be
identical.

Finally, to perform sensitivity analysis, the follimg key parameters in the
simulation and financial models were varied: fertoeroperating conditions, overall
yield, plant capacity, sources of hydrogen supptices of feedstock and raw chemicals,

and after-tax discount rate of the cash flow.

Table9. Scaling factors to estimate equipment costs abwarsizes.

Equipment type Installation Scaling Scaling base
factors factor
Agitators: CS; SS 1.3; 12 0.51¢ Flow
Blenders 1.3 0.49° Flow
Blowers 1.4 0.59° Flow
Centrifuges, CS 1.3 0.67° Flow
Clarifiers, thickeners 1.51 0.60° Flow
Columns, distillation, CS; SS 3.0, 21 0.62° Diameter squared
Compressors, motor driven .3 0.69" Flow
Conveyers and elevators f.4 0.60° Flow
Crystallizers 1.9 0.37° Flow
Dryers 1.4 0.40° Flow
Evaporators, thin film, CS 25 0.54" Flow
Filters, belt press 1.%5 0.60° Solid flow
Filters, pneumapress 3.84 0.60° Solid flow
Heat exchangers, shell-tube 2.1 0.44° Heat transfer area
Pumps, centrifugal, CS 2°8 0.79¢ Flow
Reactors, kettle 22 0.54° Flow
Reactors, multi-tubular, SS 1°6 0.56" Flow
Shredders, 1.38 0.60° Flow
Tanks, field erected, CS 194 0.57° Flow
Truck scale 2.47 0.60° Flow
Vessels, pressure, CS £.7 0.51¢ Flow

Note: a. Wallas!
b. Peters et &f.
c. Aden et af®
d. Garrett™
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Lang method

Modified NREL method

Cost items Factor Cost items Factor
Direct cost Direct cost
Purchased equipment 100 Purchased equipment 100
Equipment installation 47 Installation 70°¢
Instrumentation & control 36 Ware house 2.55
Piping 68 Site development 15.3
Electrical systems 11
Buildings 18
Yard improvements 10
Service facilities 70
Total direct costs 360 Total direct costs 188
Indirect costs Indirect costs
Engineering and supervision 33 Prorateable costs 18.8
Construction expenses 41 Field expenses 18.8
Legal expenses 4 Office & construction 47.0
Contractor’s fees 11 Contingency 28.2
Contingency 44 Other 18.8
Total indirect costs 144  Total indirect costs 132
Fixed capital investment (FCI) 504 FCI 320
Working capital investment (WCI=15%FCI89  WCI = 10% FCI 32
Total capital investment (TCI) 593 TCI 352

Note: a. Peters et aF,
b. Aden et af?

c. In the NREL report® this cost item ranges from 20 from 200 dependimg o
types of equipment (see Table 9 for details), #@esmean value.
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Table 11. Basis and assumptions of the financial modelshferbase case.

Parameters Values
Plant life 20 years
General plant depreciation 200% DDB for 7 years
Steam generation unit depreciatiod50% DB for 20 years
Financing 100% equity
After-tax discount rate 10%
Income tax rate 39%
Dollar year value 2010
Subsidy No
Plant capacity 160 dry tonnes/h of forage sorghum (8.1% ash) and
40 dry tonnes/h of manure (35.4% ash)
Construction period 1.5 years
Start-up time 6 months
Revenues 50%
Variable Costs 75%
Fixed Costs 100%
Operating season 8,000 hours per year
Delivered prices of raw materials:
Forage sorghum $60/dry tonne
Manure $10/dry tonne
Hydrogen source From the processing of fermentatisidue

4.4.2 Base-case economic analysis

For the base-case plant in which all the paramedkres shown in Tables 1 and 7
were applied, the fixed capital investment (FCI$831 MM. Figure 32 shows how the
capital is distributed in the plant. The steam-glait and PSA units contribute most to
the FCI followed by gasification and cogeneratidewatering unit, and ketonization.
The high capital costs of water-gas shift, PSA, gasification indicate that producing
hydrogen from fermentation residue is expensivestMd the dewatering costs come
from the expensive crystallization equipment. Bseawf the low-cost pile design,
pretreatment and fermentation require only 7.2%efinvestment.
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M Pretreatment & Fermentation (7.8%)

B Dewatering (14.1%)

M Ketonization (12.5%)

M Ketone hydrogenation (8.6%)

M Gasification & cogeneration (17.6%)

m Steam-gas shift & PSA (19.9%)

m Dehydration & dimerization (7.4%)

m Olefin hydrogenation (5.1%)

WWT - Storage - Utility (7.0%)

Figure 32. Breakdown of the fixed capital investment (FCI) floe base case.

Table 12. Variable operating costs.

Cost items Price Annual cost Unit cost
$1,000/yr  $/gal product
Feedstock
Forage sorghum 160 tonne/h  $60/tonne 76,800 0.630
Manure 40 tonne/h $10/tonne 3,200 0.026
Chemicals
Lime 10.7 tonne/h  $70/tonne 6,006 0.049
Ethanol 9.47 tonne/h  $2.2/tonne 167 0.001
Flocculant $991/tonne 1,650 0.014
lodoform $25/kg 1,434 0.012
Utility
High-pressure steam 14.1tonne/h $10.1/tonne 1,142 0.009
Low-pressure steam 476.3 tonne/h $5.50/tonne 20,955 0.173
Natural gas 1.6x10m%h  $0.113/nd 1,469 0.012
Electricity $0.062/kWh 3,244 0.027
Cooling water 18,838 nih  $0.013/m 1,959 0.017
Boiler water $0.13/nd 121 0.001
Waste disposal 32.5tonne/h  $18/tonne 4,681 0.038




79

Variable and fixed operating costs are presenteflainles 12 and 13. The variable
operating cost is dominated by the main feedstamdt ¢$60/tonne forage sorghum),
followed by the cost of low-pressure steam thatprémarily consumed by the
crystallizer. The key contribution of the fixed oatng costs is maintenance-related
costs, which were estimated as a factor of thet@lagosts.

The MPSP of the base case was estimated to be pé&r8fallon hydrocarbon fuels
at an after-tax discount rate of 10%. Table 14 shthe components of this selling price.
The biomass feedstock is the highest cost comppiteantributes 36% to the MPSP. It
implies that using low-cost waste feedstocks wdhgicantly reduce the product cost.
Other high-cost components are capital depreciati2%), utilities (12.2%), and
maintenance (11.9%). It indicates the significasitdbutions of the capital investment
and the low-pressure steam consumption to thengggliice.

Table 13. Fixed operating costs.

Cost items Annual cost Calculation (*)
($1,000/yr)
Labor
Direct wage and benefits (DW&B) 4,481 For operators
Direct salary and benefits (DS&B) 672 15% of DW&B
Operating supplies and services 269 6% of DW&B
Technical assistance to manufacturing 747 $52,000/(operator/shift)-year
Control laboratory 409 $57,000/(operator/shift)-year
Maintenance
Wage and benefits (MW&B) 11,576 4.5% of FCI
Salaries and benefits (MS&B) 2,894 25% of MW&B
Materials and services 11,576 100% of MW&B
Maintenance overhead 579 5% of MW&B
Operating overhead
General plant overhead 1,393 7.1% of DW, DS, MW, MS, & B
Mechanical department services 471 2.4% of DW, DS, MW, MS, & B
Employee relations department 1,158 5.9% of DW, DS, MW, MS, & B
Business service 1,452 7.4% of DW, DS, MW, MS, & B

(*) Followed the instruction of Seider et’af.
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Table 14. Cost components of MPSP in the base case.

Cost component Contribution
$/gallon of product Percentage (%)

Biomass 0.656 35.8
Chemicals and waste disposal 0.114 6.3
Utility 0.237 12.9
Labor 0.054 2.9
Maintenance 0.218 11.9
Operating overhead 0.037 2.0
Average capital depreciation 0.241 13.2
Average income tax 0.140 7.7
Average return on investment (ROI) 0.134 7.3
Total 1.832 100.0

o Kerosene-type jet fuel, U.S. Gulf coast spot price FOB

o Conventional gasoline, U.S. Gulf coast spot price FOB
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Gasoline and jet fuel prices ($/gallon)

Crude oil price ($/bbl)

Figure 33. Historical monthly prices of crude oil, gasolired jet fuel (EIA, 201133
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Economic viability of biofuel processes dependshow the biofuel competes with
petroleum-derived fuels. During the 10-year peffimin January 2001 to January 2011,
Figure 33 tracks the historical monthly spot pri¢e®B) of conventional gasoline and
kerosene-type jet fuel (at U.S. Gulf coast) produtem crude oil (priced at Cushing,
Oklahoma). Petroleum refineries sell gasoline aidyel at $1.83/gal when the crude
oil price is about $65 — $70 per barrel.

4.5 Optimization and sensitivity analysis
4.5.1 Optimization of yield and fermentation operating conditions

Process economics are strongly affected by thetipadoverall yield of the plant,
which is controlled by fermentor operating paramstesolatile solid loading rates
(VSLR), liquid residence times (LRT), and carboxglgproduct concentration. These

parameters along with other relevant terms arenddfas follows:

Volatile solid fed (VS) = Dry biomass — Ash in biass (106)

c ] VS digested 107
onversion —-—VS rod (107)

Selectivit Total carboxylate produced (based on weight ofgcid 108
electivity = VS digested (108)

o I vield Total volume of hydrocarbon fuel produced 109
verdl yield = Dry biomass weight fed (109)

) ] ) Weight of VS fed
Volatile solids loading rate (VSLR) = (110)

Total liquid volume in all fermentordime

Liquid id i RT Total liquid in all fermentors 111
iquid residence time = —— .
d ( ) Flow rate of liquid out of fermentor train (111)

_ . Total carboxylate produced (based on acid weight)
Fermentation concentration—= 112)

Flow rate of liquid out of fermentor train

Dry biomass weight in all fermentors

Fermentation time = . 113
Dry biomass rate (113)

Dry biomass weight in all fermentors

Substrat tration—=— , — — 114
vbstrate concentra IonE)-ry biomass weight Liquid weight in all fermentors (114)
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In this sensitivity analysis, VSLR, LRT, and fernion product concentration
were considered as independent variables. All stivere calculated accordingly (yield,
selectivity, fermentation time, total carboxylateguced, VS fed, VS digested, and rates
of liquid) or specified as unchanged inputs (drgnbass, ash content, conversion, and
substrate concentration). Table 5 reports theiresin the base case.

The overall yield is proportional to total acidoguced in the fermentation, which
assumes that individual yields of all other stesfexed. From the equations above, the
overall yield relates to the three independentaldes as follows:

Fermentation product concentration
VSLR-LRT

Overall yield~ (115)

This relation indicates that overall yield favorsgher fermentation product
concentration and lower multiplication of VSLR an@T.

In fact, the three parameters (VSLR, LRT, and fertagon product concentration)
interact as documented in previous wik*'’ The interactions were predicted using the
Continuum Particle Distribution Model (CPDM). Howesy to investigate the effect of
operating ranges on process economics in this wbkk,parameters were arbitrarily

varied in predefined ranges (Table 15).

Table 15. Ranges of fermentation operation parameters.

Parameter Unit Base case Investigated range
Fermentation product concentration g acids/L 40 - B0

Volatile solids loading rate (VSLR) g/(day) 3.0 3-10

Liquid residence time (LRT) day 28 5-30

To perform the sensitivity analysis, the MPSP wasineted in a number of
scenarios of various combinations of the three peddent parameters. Because the
parameters affect fermentation outlet flow rates @ompositions, mass and energy
balance of the whole plant were changed in eveenato. The capital and operating
costs were updated accordingly before the MPSPrecmdculated.
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Figure 34. Minimum product selling prices with respect to tiplication of volatile
solid loading rate and liquid residence time aious concentrations of carboxylic acids
in fermentation broth (forage sorghum cost $60dnne, after-tax discount rate 10%,
hydrogen produced from gasification of fermentatresidue, plant capacity 200 dry

tonne/h, plant life 20 years).

Figure 34 shows the calculation results that ctlwerwhole parameter ranges. Some
characteristics follow:
 For constant fermentation product concentration, SMPis linear with
VSLR-.LRT. The MPSP decreases as VSLRT decreases. The reason is
VSLR-LRT is inversely proportional to yield (as discussdove) and MPSP is

generally smaller at higher yields. The value ofLR3.RT can be reduced until
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the yield is equal to the theoretical yield. In tiig 34, the yield (in percentage) is
defined as
Practical overall yield

i 0 = )
Vield (%) Theoretical overall yieléloom (116)

» Straight lines of constant fermentation product ceoriration (solid lines)
converge to one point outside the operable regutnch is the upper part of the
100% vyield curve (dashed curve).

» For constant yield (along the dashed lines), MP&&ahses as the fermentation
product concentration increases. In the investdjatanges, the increased
concentration results in lower fermentation costecduse of reduced
fermentation time (with constant yield) and lowemwatering costs because less
water must be vaporized. In Figure 34, yields qf 3@ 60, 70, 80, 90, and 100%
are reported.

Figure 34 can be used to predict quickly the oVvey@ld and MPSP, given the
fermentation operating parameters (VSLR, LRT, amddpct concentration). In a
reverse problem, it can be used to indicate whatdatation parameters are required to
reach a desired yield or MPSP. The result shows tt@ minimum MPSP in the
investigated ranges is $1.42/gal, which would Heea®d at an acid concentration of 60
g/L and a VSLRLRT of 98 g/L (with a yield of 100%).

4.5.2 VVapor compression system

The vapor-compression system (Figure 23) is the Kewatering unit that
concentrates the calcium carboxylate solution ie@@rgy-efficient way. There is a need
to optimize the operating conditions and performsgéevity analysis because (1) the
system is highly integrated with the fermentatiod &) although excellent performance
has been achieved at the laboratory scale, it biaget been demonstrated at commercial
scale. This section investigates the effects ofptmature approach, fouling, and
fabrication costs of the latent heat exchangersthen MPSP. Table 16 shows the

parameter ranges.
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Table 16. Ranges of latent heat exchanger parameters.

Parameter Notation Unit Base case Investigated

range
Temperature approach AT K 0.20 0.20-3.0
Heat transfer coefficient U kW/(m*K) 240 10 - 300
Equipment cost C $/ny 155 0—400
Temperature approach

Temperature approach is the temperature differ¢ndg¢ between vaporizing salt
solution and condensing vapor in a stage of thentaheat exchangers. It is related to
heat transfer in the ensuing equation:

Q=qA=UAAT (117)
whereQ = heat transfer (kW) = heat flux (kW/ri), AT = temperature approach (K),
U = overall heat transfer coefficient (kWAi)), andA = heat transfer area fin

For 0.203-mm-thick copper plates with lead-contagniNi-P-PTFE hydrophobic
coatings, saturated steam pressure of 722 kPaparet convective saturated liquitf,
experimentally found tha#l depends oAT in non-fouling conditions as follows:

U=61.1AT)"%" (118)
Therefore,

q=61.1aT)*%% (119)

Q= 61.2A(AT)?%® (120)

In traditional heat exchangers, high€r is favored because heat transfer area is lower,
which reduces equipment costs. However, this |ateat exchanger is limited by the
rate that liquid droplets shed from the surface.aAsonsequence, heat flux is nearly
independent oAT, which is indicated by the near-zero exponent gudiion 119 and
shown by the continuous curve in Figure 35.

As AT increases, the designed outlet temperature ofvéip®r compressor must
increase, which requires higher compressor outlessure, capacity, capital, and
operating costs. AAT decreases, the designed area of latent heat exaisangust

increase to maintain the heat transfer (see Equa®®), which requires higher capital
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costs of the heat exchangers. In the design ofvHmor-compression system, the
compression costs dominate at high and the heat exchanger costs dominate at low
AT. A trade-off between these costs was fountiTat 0.02 K as shown by the minimum

in the continuous curve in Figure 36.

® Base case Clean condition ———-Fouling conditions --------- An operating line
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60 -
50 -
E
™~
240 -
=
§ -
=1t -
= i ——
[ -
T 20 1~ ___—____________________,________'7753
T _m=4
- ————---—CCT T oI TTTTTTTTIIC “m=5
10 —L/ ——————————————
0 T T T T T T T T T 1
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
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Figure 35. Heat flux of latent heat exchangers with respetemperature approach

at clean and various values of the fouling factor.

Fouling

In practical operation, the overall heat transfeeficient of the latent heat
exchangers decreases over time between maintesangees. The effect of fouling on
the overall heat transfer coefficient is assumeitow Equation 121.

U'=U/m (121)
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whereU' is the fouling overall heat transfer coefficiendan is the fouling factor (e.g.,
m = 2 means overall heat transfer coefficient isuoed twice due to fouling). Figure 35
depicts the heat flux at some valuesrof
With fouling, the heat transfer is
Q'=U'TATAT' (122)

whereA' is fouling heat transfer area and’ is the fouling temperature approach.
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Figure 36. Minimum product selling price with respect to teemgture approach at

clean condition and various fouling expectatiornhef latent heat exchangers.

In an operating plant, heat transfer area is nahghd (i.e.A = A"). To maintain heat
transfer (i.e.,Q = Q") and avoid reducing vaporization rate as overaththtransfer
coefficient decreases from fouling, the latent heat exchangerst be designed with
surplus area (i.e., oversized) and heat flux isel@d. (Note: IncreasingT without
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oversizing does not maintain heat transfer bectheséeat flux is nearly independent of
AT as discussed in the previous section).

In the base case, |18 be the ideal heat transfer area (i.e., the dedigatue if no
fouling occurs). The heat exchangers are overdiyeifactor oh.

A'=nAg (123)

To maintain heat transfer right after maintenaneesise is performed (i.e., the heat
exchangers are cleam)T must be adjusted to a small value such that heatréduces
by n times as compared to the ideal design.

q' =qo/n (124)
whereq' is fouling heat flux andy is ideal heat flux. Over time\T increases during
operation to keep constant.

For example, in an ideal scenario where no foulbogurs, the system always
operates at the base-case condition wigre 53.3 kW/nf andAT = 0.2 K. To cope
with fouling in a practical scenario, if heat tréersareas are oversized by two times (i.e.,
n = 2), the system initially operates AT = 10° K (see Figure 36) to keep= qu/2 =
26.6 kwi/nf. Over time as fouling developsT must increase to keepconstant at this
value, which is represented by the horizontal ghtaoperating line in Figure 35. When
AT is near 1 K, the production cost significantly reases (see Figure 36) because
compression energy consumption is higher; theretbeesystem should be shut down to
clean the heat exchangers. (Note: It is not necgs® manipulateAT directly. It
assumes a value that is necessary to condenseploe processed by the compressor;
henceAT is a dependent variable determined by indepengsatécting the compressor
speed.)

For higher oversizing factors, the operation penbthe system is longer. However,
the MPSP must be higher to account for the costargér heat exchangers. Figure 36
shows the MPSP for various values of the oversifaatprn.

Cost of latent heat exchangers
Because this technology (dropwise condensatioratent heat exchanger with an

extremely high heat transfer coefficient of 240 k#K) has not been applied at a
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commercial scale, the coating cost of the platesinisertain. In the base case, the
equipment cost@) is assumed to be $155/mf heat transfer area. This sensitivity

analysis investigates a wide range of costs fro@0%b $400/rh (Figure 37) assuming
AT =0.20 K.
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Figure 37. Minimum product selling price with respect to pased cost of latent heat
exchangers at various values of overall heat teartsfefficientU (kW/(m*K)) at AT =
0.2 K.

At high U, the change of does not increase MPSP much. For exampl¥, at200
kW/(m*K), the MPSP increases by only $0.04/gaCascreases four times, from $100
to $400/m. However, at lowU, an increase of significantly affects the MPSP. For
example, at) = 30 kW/(nf-K), the MPSP increases by $0.24/gal for the sameffud
increase ofC. The dependence of the MPSPWandC follows this equation:
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0.011847
MPSP ZW C+1.8072 (125)

4.5.3 Sour ces of hydrogen

The results of the base-case economic analysisrsiro@ection 4.4.2 reveal that the
cost of producing hydrogen from fermentation residuexpensive. In a design in which
hydrogen is available from an external source (&garby petroleum refinery) and the
fermentation residue is gasified only for steam poder, the MPSP will be lower if the
external hydrogen is inexpensive. However, if tReemal hydrogen price is expensive,
then it is better to produce hydrogen from fermgotaresidues. Sensitivity analysis of
MPSP with respect to external hydrogen prices (d8) shows that the break-even
point is $2.44/kg of external hydrogen.
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Figure 38. Plot of MPSP versus external hydrogen pricesHerdase of no
hydrogen production.

In another design option in which hydrogen is inédlly produced from natural gas

and the fermentation residue is gasified only teas1 and power, the MPSP is lower
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than $1.89/gal if natural gas price is less tha#h. &GJ. In the calculation of this case, it
was assumed the relationship between hydrogen anidenatural gas price is line4r.

In other words, the plant is economically favored groduce hydrogen from
fermentation residue when external hydrogen andrakigas prices are higher than
$2.44/kg and $14.2/GJ, respectively. Otherwisethdfse prices are lower than these

break points, buying hydrogen or investing in auraltgas reformer is more economical.

Minimum product selling price ($/gallon)
08 1 12 14 16 18 2 22 24 26 28

After-tax discount rate is 25
After-tax discount rate is 20
No H2 recovery, buy H2 @ $5/
FCl increases by 50

Yield decreases by 1(

No lime is recovere

Lime price is $120/tonr
Manure price is $25/ton
Manure is available for fre

No H2 recovery, buy H2 @ $2/
Yield increases by 10

No H2 recovery, buy H2 @ $1/
FCI decreases by 5(

After-tax discount rate is 0
Free biomas

Free biomass, buy H2 @ $1

Figure 39. Sensitivity analysis of the key factors on minimproduct selling price.

4.5.4 Other sensitivity analyses

Figure 39shows the sensitivity of the minimum selling pricethe following key
parameters: after-tax discount rate or return aestment (ROI), overall yields, fixed
capital investment, external hydrogen prices, aeg taw material prices. If investors
expect an ROI of 20% or 25%, the product fuel muestsold for $2.23 or $2.47/gal
hydrocarbon, respectively. For an increase of BRCb0%, the product selling price is

$2.06/gal hydrocarbon. A decrease of overall yidlgs0% results in a selling price of
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$2.03/gal hydrocarbon. If the lime kiln is not eoy#d and pretreatment is fully fed
with purchased fresh lime, the selling price insesaby $0.11/gal hydrocarbon. By
investing in a lime kiln to process the calciumbmarate from ketonization and buying
external lime at $120/tonne for make-up demand, MiRSP increases by $0.08/gal
hydrocarbon. In the worst-case scenario of mantice pthe selling price is not affected
much. Unlike the main biomass (sorghum), free mandoes not reduce the

hydrocarbon selling price significantly.
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Figure 40. Minimum selling prices and fixed capital investrhearsus plant capacities
using biomass at various prices (sorghum) and $¢@dne (manure). Hydrogen is

produced by gasification.

Table 14 shows that feedstock costs have high itepat product price. Figure 40
depicts the effect of feedstock price on the hydrbon selling prices. This sensitivity
analysis was done for energy sorghum. For otheisteeks with the same volatile solids
content as sorghum (91.9% weight), the resultsideatical. Some feedstocks (e.g.,

municipal solid waste, food waste) may come wigpithg fees whereas sorghum does
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not. If such feedstock is delivered for free to pient gate (i.e., tipping fee is assumed to
just cover collecting, sorting, and transportingstsp and the plant uses internal
hydrogen, the MPSP is only $1.20/gal hydrocarbadh@base-case capacity (Figure 39).
In a reasonable scenario where biomass is availabfece at the plant gate and external
hydrogen is supplied at $1/kg (the current pricgeldleon natural gas costing $5.21/GJ or
$5.50/MMBtu), the MPSP of hydrocarbon fuels is $0gal hydrocarbon, as shown in
Figure 39.

Figure 40 shows the hydrocarbon selling prices faxetl capital investment with
respect to capacity for a plant at various pridesiamass. The FCI curve is represented
by a function of capacity to a power of 0.63. Apaeities of 300 tonne/h or more and
biomass cost of $60/tonne, the MPSP approacheS/$aléydrocarbon.

4.6 Summary

This techno-economic analysis for producing hydroca fuel from lignocellulose
via the carboxylate platform was performed by ugrtensive sources of published data
and employing computers for simulation and cosiregton. The following technical
advantages of the carboxylate platform were idegkifno sterility, no external enzymes,
and low capital cost of pretreatment and fermeoatihe plant is highly integrated to
overcome common challenges in biorefineries, sueh lime consumption in
pretreatment, calcium carbonate consumption forfebufy, water removal for
concentrating fermentation product, and hydroggpbes.

The economic analysis shows that the effects ohdatation operating parameters
on process economics can be generalized (FigureT®8#) result can be used to quickly
estimate the MPSP given any value of the opergtismgmeters. Alternatively, it can
quickly target the required parameters to achiedesred selling price. The economic
analysis also shows that the temperature approflalettemt heat exchangers is preferred
to be as small as 0.20 K. The analysis identifiexkpensive feedstock and replacing the

crystallizer were keys to significantly loweringethost.
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The process does not need external hydrogen, bsitnitore economic if external
hydrogen is available for less than $2.44/kg, whockeurs when natural gas is below
$14.2/GJ ($15.0/MMBtu).

The base case with reasonable expectation on tadhperformances and feedstock
cost ($60/dry tonne biomass) requires an MPSP @&3%dal hydrocarbon fuel ($1.25/gal
equivalent ethanol) at an after-tax discount ratel@. In particular, the minimum
selling prices of hydrocarbon fuels can be aroudd?®&gal ($0.82/gal equivalent
ethanol) if municipal solid waste is available fage at the plant gate (200 tonne/h plant,
with internal hydrogen production).

4.7 Legal disclaimer

MixAlco™ is a registered trademark of Terrabon, Inc. Unleerwise noted,
inclusion of such trademark in this document do&simply support or endorsement by
Terrabon, Inc. Except as expressly referenced is dmssertation, the information,
estimates, projections, calculations, and asserompressed in this dissertation have not
been endorsed, approved, or reviewed by any uiaddd third party, including
Terrabon, Inc., and are based on the authors’ omependent research, evaluation, and
analysis. The views and opinions of the authorgesged herein do not state or reflect
those of such third parties, and shall not be caedtas the views and opinions of such

third parties.
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CHAPTER V
CONCLUSIONS

This research developed a complete package of noweksl to systematically design a
biorefinery from given feedstocks and desired ketfu The following tools were
proposed.

At first in a synthesis stage, conceptual pathwafysonverting the feedstocks to the
biofuels were synthesized using forward-backwardnbhing approach along with
matching and interception steps (Chapter II). Tdpproach can systematically lead to
not only familiar pathways but also novel pathwdased on known and feasible
technologies.

The pathways were then quickly screened and ealuatglobally identify the most
economically promising ones in an optimization stad\pplication of Bellman’s
Principle of Optimality (Chapter Il) was proposedsignificantly reduce the evaluation
effort.

After that, the optimal conceptual pathways weigeased in more details. Based on
the found pathways, flexible biorefinery configuoats were constructed using a novel
perspective on design strategy (Chapter I11). Opamaof partial or whole plant is in idle
mode if operating economic efficiency is not fawbrdhis strategy well suits what a
plant should be operated in practice in such ecaneonditions. The new concept can
be also applied in another context, e.g., procesgd with optimum strategy of quality
control, where a process is designed such thatffaspec product is discarded (while
production is still online).

Finally, detailed design and economic evaluationthef biorefinery configuration
was performed (Chapter IV). Although the techniemld economic analyses with
reliable data were done for the production of hgdrbon fuels from lignocellulosic
biomass via carboxylate platform, the devised fraor& can be applied to a broad
range of biofuel processes. The chapter discussattigal sources of information to

perform a techno-economic analysis of a biofuelcpss, how to simulate a biofuel
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process in a process simulation software, and atbermon technical and economic
issues in the design problem of tii&biofuel plant.

All the developed tools were demonstrated in caséies. In general, this research
has proposed highly applicable tools and used at@neingineering fundamentals to

systematically solve pressing problems in the afeanewable energy.



10.

11.

12.

97

LITERATURE CITED

Huber GW, Iborra S, Corma A. Synthesis of tramgtion fuels from biomass:
Chemistry, catalysts, and engineeri@fpemical Review2006;106(9):4044-
4098.

Kamm B, Kamm M. Biorefineries — Multi-productqmessesAdvances in
Biochemical Engineering/Biotechnolo007;105:175-204.

Fernando S, Adhikari S, Chandrapal C, MuralBirefineries: Current status,
challenges, and future directidinergy & Fuels2006;20(4):1727-1737.

Werpy T, Petersen Gop value added chemicals from biomass - Volume I:
Results of screening for potential candidates feugars and synthesis gas.
Richland, WA: Pacific Northwest National LaboratgBNNL) and National
Renewable Energy Laboratory (NREL); August 2004.

Holladay JE, Bozell JJ, White JF, Johnso @p value-added chemicals from
biomass. Volume II: Results of screening for paaéoandidates from
biorefinery lignin.Richland, WA: Pacific Northwest National Laborgto2007.
PNNL-16983.

Agnihotri RB, Motard RL. Reaction path synthasisndustrial chemistry. In:
Squires RG, Reklaitis GV, edSomputer applications to chemical engineering.
Vol 124. Washington, DC: American Chemical Socidi§80:193-206.

Nishida N, Stephanopoulos G, Westerberg AW.\Aesg of process synthesis.
AIChE Journal.1981;27(3):321-351.

Ugi |, Gillespie P. Representation of chemigattems and interconversions by
be matrices and their transformation propertfasgewandte Chemie
International Edition in English1971;10(12):914-915.

Hendrickson JB. Systematic characterizatiortroictures and reactions for use
in organic synthesiglournal of the American Chemical Society.
1971;93(25):6847-6854.

Corey EJ. Computer-assisted analysis of comglathetic problemguart.
Rev., Chem. Sott971(25):455-482.

Gelernter H, Sridharan N, Hart A, Yen S-C, Favi#, Shue H-J. The discovery
of organic synthetic routes by computdew Concepts Mol 41. Berlin:
Springer 1973:113-150.

Govind R, Powers GJ. A chemical engineeringn\oéreaction path synthesis.
In: Wipke WT, Howe WJ, ed€omputer-Assisted Organic Synthesiel 61.
Washington, DC: American Chemical Society; 1977981-



13.

14.

15.

16.

17.

18.

19.

20.

21.

22.

23.

24,

25.

98

May D, Rudd DF. Development of Solvay clustd#rshemical reactions.
Chemical Engineering SciencE76;31(1):59-69.

Rotstein E, Resasco D, Stephanopoulos G. Stodi¢he synthesis of chemical
reaction paths - I. Reaction characteristics in(t@, T) space and a primitive
synthesis procedur&€hemical Engineering Scienck82;37(9):1337-1352.

Fornari T, Rotstein E, Stephanopoulos G. Studiethe synthesis of chemical
reaction paths - Il: Reaction schemes with two degof freedonmChemical
Engineering Sciencd.989;44(7):1569-1579.

Crabtree EW, El-Halwagi MM. Synthesis of enmimeentally acceptable
reactionsAIChE Symposium Serie994;90(303):117-127.

Pistikopoulos EN, Stefanis SK, Livingston AGn#ethodology for minimum
environmental impact analysi&lChE Symposium Seriek094;90(303):139-
150.

Buxton A, Livingston AG, Pistikopoulos EN. R&an path synthesis for
environmental impact minimizatio@omputers & Chemical Engineering.
1997;21(Supplement 1):S959-S964.

Li M, Hu S, Li Y, Shen J. A hierarchical optmation method for reaction path
synthesisindustrial & Engineering Chemistry Resear@®00;39(11):4315-
4319.

Hu S, Li M, Li Y, Shen J, Liu Z. Reaction paynthesis methodology for waste
minimization.Science in China Series B: Chemis&04;47(3):206-213.

Ng DKS, Pham V, El-Halwagi MM, Jiménez-Gutier#s, Spriggs DH. A
hierarchical approach to the synthesis and anatysigegrated biorefineries.
Paper presented at: 7th International Conferendeéoondations of Computer-
Aided Process Design (FOCAPD 2009): Design for Byand the
Environment. 2009; Breckenridge, CO.

Bao B, Ng DKS, El-Halwagi MM, Tay DHS. Synthesif technology pathways
for an integrated biorefinenAlIChE Annual MeetingNashville, TN. 2009.

Aden A, Ruth M, Ibsen K, Jechura J, Neevestlg].e.ignocellulosic biomass to
ethanol process design and economics utilizinguwoeant dilute acid
prehydrolysis and enzymatic hydrolysis for corrvetoGolden, CO: National
Renewable Energy Laboratory; 2002. NREL/TP-510-8243

Zhu Y, Jones S.echno-economic analysis for the thermochemicaVexmion of
lignocellulosic biomass to ethanol via acetic asjahthesisRichland, WA:
Pacific Northwest National Laboratory; 2009. PNN&483.

Phillips SD. Technoeconomic analysis of a lggilulosic biomass indirect
gasification process to make ethanol via mixedlatosynthesidndustrial &
Engineering Chemistry Resear@07;46(26):8887-8897.



26.

27.

28.

29.

30.

31.

32.

33.

34.

35.

36.

37.

99

Dutta A, Dowe N, Ibsen KN, Schell DJ, Aden A Aconomic comparison of
different fermentation configurations to convertrcstover to ethanol using Z.
mobilis and Saccharomycdsiotechnology Progres2010;26(1):64-72.

Kazi F, Fortman J, Anex R, Kothandaraman G, Biset al.Techno-economic
analysis of biochemical scenarios for productiorceffulosic ethanolGolden,
CO: National Renewable Energy Laboratory; 2010. NRP-6A2-46588.

Pokoo-Aikins G, Nadim A, Mahalec V, El-HalwadgM. Design and analysis of
biodiesel production from algae grown through carbequestratiorClean
Technologies and Environmental Poli@p10;12(3):239-254.

Myint LL, El-Halwagi MM. Process analysis angtionization of biodiesel
production from soybean oiClean Technologies and Environmental Policy.
2009;11(3):263-276.

Pham V, Holtzapple M, El-Halwagi MM. Techno-aomic analysis of biomass
to fuels conversion via the MixAlco procedsurnal of Industrial Microbiology
& Biotechnology2010;37(11):1157-1168.

Holtzapple M, Granda C. Carboxylate platforrhe™ixAlco process part 1:
Comparison of three biomass conversion platforpglied Biochemistry and
Biotechnology2009;156(1):95-106.

Jones S, Zhu Y, Valkenburg Bunicipal solid waste (MSW) to liquid fuels
synthesis. Volume 2: A techno-economic evaluatidheoproduction of mixed
alcohols.Richland, WA: Pacific Northwest National Laboratp2009. PNNL-
18482.

Mohan T, El-Halwagi MM. An algebraic targetiagproach for effective
utilization of biomass in cogeneration systemsilioprocess integratio@lean
Technologies and Environmental Poli@@07;9(1):13-25.

Qin X, Mohan T, El-Halwagi MM, Cornforth F, Me@ BA. Switchgrass as an
alternate feedstock for power generation: Integratevironmental, energy, and
economic life cycle analysi€lean Technologies and Environmental Policy.
2006;8(4):233-249.

Alvarado-Morales M, Gernaey KV, Woodley JM, GBn Synthesis, design and
analysis of downstream separation in bio-refinancpsses through a group-
contribution approach. In: Pierucci S, Ferraris, @&8s.Computer aided
chemical engineering/ol 28: 20th European Symposium on Computer Aided
Process Engineering (ESCAPEZ20). 2010:1147-1152.

Gosling I. Process simulation and modelingridustrial bioprocessing: Tools
and techniquesndustrial Biotechnology2005;1(2):106-109.

Harper PM, Gani R. A multi-step and multi-leapbroach for computer aided
molecular designComputers and Chemical Engineeri2§00;24(2):667-683.



38.

39.

40.

41.

42.

43.

44,

45.

46.

47.

48.

49.

50.

51.

100

Elms RD, El-Halwagi MM. Optimal scheduling amgeration of biodiesel plants
with multiple feedstockdnt. J. Process Systems Engineeri2@09;1(1):1-28.

Pokoo-Aikins G, Heath A, Mentzer RA, Mannan NRegers WJ, El-Halwagi

MM. A multi-criteria approach to screening alteimas for converting sewage
sludge to biodieseLoss Prevention in the Process Industri&®10;23(3):412-

420.

Kasra SEntropy analysis as a tool for optimal sustainab$e of biorefineries
Boras, Sweden: School of Engineering, Universitji€e of Boras; 2007.

Sammons Jr NE, Yuan W, Eden MR, Aksoy B, CahitiT. Optimal
biorefinery resource utilization by combining preseand economic modeling.
Chemical Engineering Research and DesRfi08;86(7):800-808.

Villegas JD, Gnansounou E. Techno-economicesmvitonmental evaluation of
lignocellulosic biochemical refineries: Need fomadular platform for
integrated assessment (MPIApurnal of Scientific & Industrial Research.
2008;67:1017-1030.

Ng DKS. Automated targeting for the synthesiarointegrated biorefinery.
Chemical Engineering Journa010;162(1):67-74.

Bellman REDynamic programmingPrinceton, NJ: Princeton University Press;
1957.

Denardo EVDynamic programming: Models and applicationdineola, NY:
Dover Publications; 2003.

Goyal HB, Seal D, Saxena RC. Bio-fuels fronritih@chemical conversion of
renewable resources: A revieRenewable and Sustainable Energy Reviews.
2008;12(2):504-517.

Blommel PG, Cortright RD. Production of convenal liquid fuels from sugars.
2008. http://www.virent.com/BioForming/Virent_Tedblogy Whitepaper.pdf.
Accessed March 3rd, 2011.

Piccolo C, Bezzo F. A techno-economic comparitsetween two technologies
for bioethanol production from lignocellulodg&iomass and Bioenergy.
2009;33(3):478-491.

Schmittinger PChlorine: Principles and industrial practicd st ed. Weinheim,
Germany: Wiley-VCH; 2000.

Hamelinck C, Hooijdonk G, Faaij A. Ethanol frdignocellulosic biomass:
Techno-economic performance in short-, middle-amdj{term Biomass and
Bioenergy2005;28(4):384-410.

Gassner M, Maréchal F. Thermo-economic procextel for thermochemical
production of synthetic natural gas (SNG) from égallulosic biomasBiomass
and Bioenergy2009;33(11):1587-1604.



52.

53.

54.

55.

56.

S7.

58.

59.

60.

61.

62.

63.

64.

101

U.S. Environmental Protection Agency. Landfikthane outreach program:
Potential benefits gained by landfill owners/opersitfrom landfill gas energy;
2002:1-2.

Gray EE. Appendix H: Technologies for biofugteduction. InRenewable fuels
roadmap and sustainable biomass feedstock suppNdw York Albany, NY:
Antares Group, Inc.; 2010.

Hamelinck CN, Faaij APC. Future prospects f@dpction of methanol and
hydrogen from biomassournal of Power Source2002;111(1):1-22.

Carey FA, Sundberg RJ. Advanced organic cheyniftart B: Reactions and
synthesis (5th editionpdvanced organic chemistridew York, NY: Springer -
Verlag; 2007:639.

Chang NSThe kinetic studies of enzymatic cellulose hydmelgsd catalytic
ketone hydrogenatiorCollege Station, TX: Chemical Engineering, TeRA&M
University; 1994.

Kiff B, Schreck D, Inventors; Union Carbide @oration, assignee. Production
of ethanol from acetic acid. US patent 442193920/2/983, 1983.

BechtelTask 4.2 Commercial applications - Economics of BVi& mixed
alcohol Prepared for Air Products and Chemicals, Inc.8L9%ailable from
DOE Scientific and Technical Information (OSTI).

Kowalewicz A. Methanol as a fuel for spark tggm engines: A review and
analysis.Journal of Automobile Engineerin§993;207(D1):43-52.

Granda C, Holtzapple M, Luce G, Searcy K, MahrD. Carboxylate platform:
The MixAlco process part 2: Process economigplied Biochemistry and
Biotechnology2009;156(1):107-124.

Pham V, Granda C, Holtzapple M, El-Halwagi Mchino-economic analysis of
biomass to fuel via the MixAlco procegdChE 2010 Spring Meetingan
Antonio, Texas. 2010.

Pfromm PH, Amanor-Boadu V, Nelson R, VadlanMRd| R. Bio-butanol vs.
bio-ethanol: A technical and economic assessmertoiam and switchgrass
fermented by yeast @lostridium acetobutylicunBiomass and Bioenergy.
2010;34(4):515-524.

DOL. Producer Price Index for chemical ancedliproducts. Department of
Labor, Bureau of Labor Statistics; 2010. http:/&dalls.gov/PDQ/servlet/Survey
OutputServlet?series_id=WPUO6&data_tool=XGtablecessed September 1st,
2010.

Pistikopoulos E. Uncertainty in process desigd operationsComputers &
Chemical Engineeringl995;19:553-563.



65.

66.

67.

68.

69.

70.

71.

72.

73.

74.

75.

76.

7.

78.

79.

102

Bernardo F, Saraiva P, Pistikopoulos E. Prodesgn under uncertainty:
Robustness criteria and value of informati@Goemputer Aided Chemical
Engineering2003;16:175-208.

Taguchi Glntroduction to quality engineering: Designing gifalinto products
and processed okyo, Japan: Asian Productivity Organization889

Rudd DF, Watson CCrB8trategy of process engineeriigew York: John Wiley
& Sons; 1968.

Grossmann IE, Halemane KP, Swaney RE. Optiioizatrategies for flexible
chemical processe€omputers & Chemical Engineerint983;7(4):439-462.

Halemane KP, Grossmann IE. Optimal procesgdesider uncertaintAIChE
Journal.1983;29(3):425-433.

Grossmann IE, Sargent RWH. Optimum design efrébal plants with uncertain
parametersAIChE Journal1978;24(6):1021 - 1028.

Swaney RE, Grossmann IE. An index for operatifiexibility in chemical
process design. Part I: Formulation and theAfZhE Journal 1985;31(4):621-
630.

Swaney RE, Grossmann IE. An index for operatifiexibility in chemical
process design. Part Il: Computational algorithAl€hE Journal.
1985;31(4):631-641.

Grossmann IE, Floudas CA. Active constrairdtstyy for flexibility analysis in
chemical processe€omputers & Chemical Engineering©987;11(6):675-693.

Pistikopoulos EN, Grossmann IE. Optimal retrdésign for improving process
flexibility in linear systemsComputers & Chemical Engineering.
1988;12(7):719-731.

Pistikopoulos E, Grossmann |. Optimal retrdésign for improving process
flexibility in nonlinear systems - I. Fixed degregflexibility. Computers &
Chemical Engineeringl989;13(9):1003-1016.

Pistikopoulos E, Grossmann |. Optimal retrdésign for improving process
flexibility in nonlinear systems - Il. Optimal lelef flexibility. Computers &
Chemical Engineeringl989;13(10):1087-1096.

Pistikopoulos EN, Grossmann IE. Stochasticnogation of flexibility in retrofit
design of linear system€omputers & Chemical Engineering.
1988;12(12):1215-1227.

Straub D, Grossmann |. Integrated stochasticer® flexibility for systems
with discrete state and continuous parameter uaiogigs.Computers &
Chemical Engineeringl990;14(9):967-985.

Straub DA, Grossmann IE. Design optimizatiostothastic flexibility.
Computers & Chemical Engineerint©93;17(4):339-354.



80.

81.

82.

83.

84.

85.

86.

87.

88.

89.

90.
91.

92.

103

Pistikopoulos E, lerapetritou M. Novel appro&mhoptimal process design
under uncertaintyComputers & Chemical Engineerint995;19(10):1089-1110.

Grossmann IE, Straub DA. Recent developmerttsirvaluation and
optimization of flexible chemical processes. Inigfaner L, Espuna A, eds.
Computer-oriented process engineeridgnsterdam, Neitherland: Elsevier;
1991.

USDA. Price received by farmers for corn by thonUnited States. National
Agricultural Statistics Service. U.S. DepartmeniAgficulture; 2011.
http://www.nass.usda.gov/Charts_and_Maps/graplatsforicecn.txt. Accessed
May 23rd, 2011.

USDA. Corn: U.S. cold storage stocks by momith year from January 2008 to
April 2011. National Agricultural Statistics SereicU.S. Department of
Agriculture; 2011. http://www.nass.usda.gov/Chaated Maps/Crops_Cold
Storage/corn.asp. Accessed May 22nd, 2011.

Theoretical ethanol yield calculator. Enerdgycedncy & renewable energy;
2011. http://lwww1.eere.energy.gov/biomass/ethaneld ycalculator.html.
Accessed May 24th, 2011.

Lindo.Lingo user's guidgcomputer program]. Version 11. Chicago, IL: LINDO
Systems Inc.; 2010.

Agler MT, Wrenn BA, Zinder SH, Angenent LT. Was$o bioproduct conversion
with undefined mixed cultures: The carboxylate follath. Trends in
biotechnology2011;29(2):70-78.

Holtzapple M, Davison R, Ross M, Aldrett-LeeN&gwani M, et al. Biomass
conversion to mixed alcohol fuels using the MixAlmmcessApplied
Biochemistry and Biotechnologi©99;79(1):609-631.

Lau MH, Richardson JW, Outlaw JL, Holtzapple MOchoa RF. The economics
of ethanol from sweet sorghum using the MixAlcoqass. 2006.
http://www.afpc.tamu.edu/pubs/2/446/RR%2006-2.pdcessed August 11,
2006.

Pham V, Holtzapple M, El-Halwagi M. Techno-ecponic analysis of biomass to
fuel conversion via the MixAlco proceskurnal of Industrial Microbiology and
Biotechnology2010:1-12.

AspentechAspen Plugcomputer program]. Version 7. Cambridge, MA; 2010

AspentechAspen Process Economic Analypsymputer program]. Cambridge,
MA; 2010.

Wooley RJ, Putsche Development of an ASPEN PLUS physical property
database for biofuels componen@olden, CO: National Renewable Energy
Laboratory; 1996.



104

93. Wooley R, Putsche \Development of an ASPEN PLUS physical property
database for biofuels componer®@olden, CO: National Renewable Energy
Laboratory; 1996.

94. Linnhoff B. Pinch analysis: A state-of-the-averview: Techno-economic
analysisChemical Engineering Research & Desidd93;71(5):503-522.

95. El-Halwagi M.Process integrationSan Diego, CA: Academic Press; 2006.

96.  Wright MM, Daugaard DE, Satrio JA, Brown RCchro-economic analysis of
biomass fast pyrolysis to transportation fu€lsel. 2010;89(Supplement 1):S2-
S10.

97.  Walas SMChemical process equipment: Selection and de&gston:
Butterworths; 1988.

98. Peters MS, Timmerhaus KD, West Rant design and Economics for chemical
engineers5™ ed. New York: McGraw-Hill; 2003.

99. Chemical Engineering's Plant Cost Index. Chahttogineering; 2011.
Accessed January 2011.

100. Rapier RVolatile fatty acid fermentation of lime-treateabiass by rumen
microorganismsCollege Station: Chemical Engineering, Texas A&M
University; 1995.

101. Lara JR, Holtzapple MT. Experimental invedimaof dropwise condensation
on hydrophobic heat exchangers part I: Dimpled{shBesalination.In Press,
Corrected Proof.

102. Lara JR, Holtzapple M. Experimental invesimabf dropwise condensation on
hydrophobic heat exchangers. Part 2: Effect ofingatand surface geometry.
Manuscript.

103. Chang NSThe kinetics studies of enzymatic cellulose hydislgnd catalytic
ketone hydrogenatiofiPhD. dissertation]. College Station, Texas: Cloai
Engineering, Texas A&M; 1994.

104. Capareda S. College Station, Texas; 2010oR&rsommunication.

105. Palmisano A, Barlaz MMicrobiology of solid wasteBoca Raton, FL: CRC
Press; 1996.

106. Sims B. Terrabon Achieves Production Milestan&exas Demo Facility.
Biorefining.2011. http://www.biorefiningmagazine.com/articles/B/terrabon-
achieves-production-milestone-at-texas-demo-fgcificcessed January 27,
2011.

107. AspenTech. Aspen Plus: System managementioviet.1. Cambridge, MA,
2001:4.1 - 4.9.



108.

109.

110.

111.

112.

113.

114.

115.

116.

117.

105

Holtzapple M. Cellulose. In: Caballero B, TougC, Finglas PM, eds.
Encyclopedia of food science, food technology, rautdtion. 2' ed. London,
England: Academic; 2003.

Holtzapple M. Lignin. In: Caballero B, Trug&|Finglas PM, eds.
Encyclopedia of food science, food technology, rartdtion. 2" ed. London,
England: Academic; 2003:3535 - 3542.

Short W, Packey DJ, Holt A.manual for the economic evaluation and energy
efficiency and renewable energy technologi&slden, CO: National Renewable
Energy Laboratory; 1995.

Garrett DChemical engineering economidéew York: Van Nostrand Reinhold;
1989.

Seider W, Seader J, LewinBroduct and process design principles: Synthesis,
analysis, and evaluatioiNew York: Wiley; 2004.

Spot prices for crude oil and petroleum presiud.S. Energy Information
Administration. http://tonto.eia.doe.gov/dnav/pet/pri_spt_s1l_m.htm.
Accessed February 12th, 2011.

Domke SB, Aiello-Mazzarri C, Holtzapple MT. Xid acid fermentation of
paper fines and industrial biosluddgoresour. TechnoR003;91(1):41-51.

Thanakoses P, Black AS, Holtzapple MT. Feradent of corn stover to
carboxylic acidsBiotechnol. Bioeng2003;83(2):191-200.

Agbogbo FK, Holtzapple MT. Fermentation oergtraw/chicken manure to
carboxylic acids using a mixed culture of marinesophilic microorganisms.
Appl. Biochem. Biotechnd006;129-132:997-1014.

Fu Z, Holtzapple M. Fermentation of sugardaagasse and chicken manure to
calcium carboxylates under thermophilic conditiolgplied Biochemistry and
Biotechnology2010;162(2):561-578.



APPENDIX A

106

INPUT DATA FOR THE CASE STUDY OF BIOREFINERY DESIGWITH AN

OPTIMUM LEVEL OF FLEXIBILITY

Table 17. Input data for raw material composition (%).

Index Name CELLULOSE XYLAN LIGNIN HYDROGEN WATER

1 Biomass 1 35 7.5 7.5 0 50
2 Biomass 2 25 10 15 0 50
3 Hydrogen 0 0 0 100 0
Table 18. Input data for raw material availabilities (tonme/
Index Name Scenario
1 2 3 4 5 6
1 Biomass 1 300 300 300 300 300 300
2 Biomass 2 450 450 450 250 450 450
3 Hydrogen 3 3 3 3 3 3
Table 19. Input data for raw material costs ($/tonne).
Index Name Scenario
1 2 3 4 5 6
1 Biomass 1 30 30 90 30 30 30
2 Biomass 2 5 5 40 5 5 5
3 Hydrogen 4,000 200 4,000 4,000 4,000 4.000
Table 20. Input data for product demand (tonne/h).
Index Name Scenario
1 2 3 4 5 6
1 Mixed alcohols 60 60 60 60 60 120
2 Lime 30 30 30 30 30 60
Table 21. Input data for product prices ($/tonne).
Index Name Scenario
1 2 3 4 5 6
1 Mixed alcohols 686 686 686 686 686 686
2 Lime 70 70 70 70 70 70




Table 22. Input data for capital costs of equipment.

Index Equipment CAPCOEF SCALE SIZECOEF Characteristie siz
1  Pretreatment 15.21 0.682 9.00 Total pile volun@qQ )
2 Fermentation 90.99 0.668 9.00 Total pile voluh&@o )
3 Vapor compression system 2,714 0.612 0.11 Tataht heat transfer area (1,000m
4 Crystallization 1,274 0.612 0.80 Water vaporizatiate (tonne/h)
5 Ketonization 3,064 0.544 0.43 Carboxylate saé (fonne/h)
6 Hydrogenation 3,863 0.538 0.30 Ketone rate (tmne
7 Gasification 1,643 0.694 1.50 Inlet solid raten(te/h)
8 Cogeneration 170.8 0.694 6.80 Inlet gas ratenétn)
9  Water-gas shift 4,596 0.694 0.57 Inlet carbon owate rate (tonne/h)
10  Pressure swing adsorption 798.6 0.694 62.0 daletrate (tonne/h)
11 Limekiln 78.44 0.600 1.80 Calcium carbonate (&inne/h)

L0T



Table 23. Data for operating costs of equipment.

Index Equipment OPCOEF Characteristic flow ratarfeh)
1 Pretreatment 38 Wet biomass rate
2 Fermentation 74 Wet biomass rate
3 Vapor compression system 71 Salt solution (exctudontaminants) rate from fermentation
4 Crystallization 67 Salt solution (excluding cantaants) rate from fermentation
5 Ketonization 27.9 Salt solution (excluding conitaamts) rate from fermentation
6 Hydrogenation 20.6 Ketone rate
7 Gasification 201 Inlet solid rate
8 Cogeneration -12.7 Inlet gas rate
9 Water-gas shift 8.8 Inlet carbon monoxide rate
10  Pressure swing adsorption 0.8 Inlet gas rate
11  Lime kiln 46 Calcium carbonate rate

30T



Table 24. Yield matrices (Scenario 1/Scenario 5 if yieldasied).

Inlet components
Outlet components CELLULOSE  XYLAN LIGNIN CARBO KETE HYDRO SYNGAS WATER ALCOHOL LIME

CELLULOSE 1 0 0 0 0 0 0 0 0 0
= XYLAN 0 1 0 0 0 0 0 0 0 0
£ LIGNIN 0 0 1 0 0 0 0 0 0 0
S CARBO 0 0 0 1 0 0 0 0 0 0
£ KETONE 0 0 0 0 1 0 0 0 0 0
< HYDRO 0 0 0 0 0 1 0 0 0 0
S SYNGAS 0 0 0 0 0 0 1 0 0 0
S WATER 0 0 0 0 0 0 0 1 0 0
W ALCOHOL 0 0 0 0 0 0 0 0 1 0

LIME 0 0 0 0 0 0 0 0 0 0

CELLULOSE  05/0.6 0 0 05/04 0 0 0 0 0 0
S XYLAN 0 04/052 0  0.6/0.48 0 0 0 0 0 0
g LIGNIN 0 0 1 0 0 0 0 0 0 0
£ CARBO 0 0 0 1 0 0 0 0 0 0
£ KETONE 0 0 0 0 1 0 0 0 0 0
S HYDRO 0 0 0 0 0 1 0 0 0 0
“g SYNGAS 0 0 0 0 0 0 1 0 0 0
S WATER 0 0 0 0 0 0 0 1 0 0
Y ALcoHoL 0 0 0 0 0 0 0 0 1 0

LIME 0 0 0 0 0 0 0 0 0 1
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Table 24 continued.

Inlet components

LIME

KETJE HYDRO SYNGAS WATER ALCOHOL

LIGNIN  CARBO

CELLULOSE  XYLAN

ponents
CELLULOSE
XYLAN

Qutlet com

(9]

1

LIGNIN
CARBO

KETONE
HYDRO

SYNGAS
WATER

0.3

ALCOHOL
LIME

P1SAS uoissaldwod lodep ;g uawdinb3g

1

CELLULOSE
XYLAN

uonezieishio :

LIGNIN

CARBO

KETONE
HYDRO

SYNGAS
WATER

ALCOHOL
LIME

¥ wawdinb3

11C



Table 24 continued.

Inlet components
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Table 24 continued.

Inlet components
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Table 24 continued.

Inlet components
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Table 24 continued.
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APPENDIX B

LINGO MODEL FOR THE CASE STUDY OF BIOREFINERY DESMNGWITH
AN OPTIMUM LEVEL OF FLEXIBILITY

SETS

I Three raw materials: two lignocellulosic sources and external H2;
RAW /1..3/;

I Two products: mixed alcohols and Lime;
PRODUCT /1..2/;

I Ten main components;
COMPONENT /CELLULOSE, XYLAN, LIGNIN, CARBOX, KETONE , HYDRO,

SYNGAS, WATER, ALCOHOL, LIME/;

I Eleven processing units. See the end of the model for the list of
equipment with assigned indices;
EQUIPMENT /1..11/: CAPCOEF, SCALE, MSIZE, SIZECOEF , OPCOEF;

I Six scenarios;
SCENARIO /1..6/: PROB;

I Derived sets from two sets;
RAW_SCENARIO (RAW, SCENARIO): COST, SUPPLY, AVAIL;
PRODUCT_SCENARIO (PRODUCT, SCENARIO): PRICE, DEMAN D, PROD;
EQUIPMENT_SCENARIO (EQUIPMENT, SCENARIO): SIZE, TF  LOW,Y;

I Derived sets from three sets;
RAW_COMP (RAW, COMPONENT): FRACTION;
RAW_SCEN_COMP (RAW, SCENARIO, COMPONENT): CONTENT;
EQUI_SCEN_COMP (EQUIPMENT, SCENARIO, COMPONENT): FIN, FOUT,

WASTE;
EQUI_SCEN_COMP_COMP (EQUIPMENT, SCENARIO, COMPONENDMPONENT):
YIELD;
ENDSETS

DATA

I Data are imported from a spreadsheet;
CAPCOEF, OPCOEF, SCALE, SIZECOEF, PROB, COST, AVAIL , PRICE,
DEMAND, FRACTION, YIELD = @OLEData.xlIsx");

I Results are exported to a spreadsheet;

@OLEData.xIsx') = Y, TFLOW, SIZE, MSIZE, SUPPLY, PROD , FIN,
FOUT;
ENDDATA
I Maximum profit ($1,000/year);
MAX= @SUBCENARIO(p): PROB(p)*( I Expected value of revenue;
8* @SUWRODUCT(k):PRICE(k,p)*PROD(k,p)) I Sale income;
-8* @SUWRAW():COST(i,p)*SUPPLY(i,p)) I Raw materials costs;
- @SUEQUIPMENT(j):OPCOEF(j)*TFLOW(j,p)) I Operating costs;
-22*8* @SUMEQUIPMENT()): @SUKOMPONENT(m): WASTE(,p,m))))) I Waste;
- @SUEQUIPMENT(j):CAPCOEF(j)*MSIZE(j)*SCALE()))/7; ICapital costs;

I Raw availability;
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@FOMRAW_SCENARIO: SUPPLY <= AVAIL);

I Production limitation;

@FOWPRODUCT_SCENARIO: PROD <= DEMAND);

I Mass balance through equipment;

@FOMEQUI_SCEN_COMP(j,p,m):
FOUT(j,p,m)= @SUOMPONENT(n):FIN(j,p,n)*YIELD(j,p,n,m)));

I Total inlet flow rate;

@FOFEQUIPMENT_SCENARIO(j,p):
TFLOW(j,p)= @SUWOMPONENT(m):FIN(j,p,m)));

I Mass balance between equipment (define process st ructure);

@FORCENARIO(p):
I Raw contents;
@FOMRAW_COMP(i,m):
CONTENT(i,p,m) = FRACTION (i,m)*SUPPLY(i,p));

I Raw - Pretreatment;

@FORCOMPONENT(m): @SUWRAW(i)|i#LE#2:
CONTENT(i,p,m)) = FIN(1,p,m));

I Pretreatment - Fermentation;

@FORCOMPONENT(m): FOUT(1,p,m) = FIN(2,p,m));

I Fermentation - Vapor compression system & Gasific ation;
@FORCOMPONENT(m)|m#GE#4: FOUT(2,p,m) = FIN(3,p,m));
@FORCOMPONENT(m)|m#LT#4: FOUT(2,p,m) = FIN(7,p,m) +

WASTE(2,p,m));
@FORCOMPONENT(m)|m#GE#4: 0 = FIN(7,p,m));
@FORCOMPONENT(m)|m#LT#4: 0 = FIN(3,p,m));
I' Vapor compression system - Crystallization;
@FORCOMPONENT(m): FOUT(3,p,m) = FIN(4,p,m));

I Crystallization - Ketonization;

@FORCOMPONENT(m): FOUT(4,p,m) = FIN(5,p,m));

I Ketonization & Pressure swing absorption - Hydrog enation & Lime

kiln;

FOUT(5,p,10) = FIN (11,p,10);
FOUT(5,p,7) = FIN (11,p,7);
@FORCOMPONENT(m)|(m#LE#9)#AND#(m#NE#7): 0 = FIN (11,p, m));
FOUT(5,p,6) + FOUT (10,p,6) + SUPPLY(3,p) = FIN(6 P,6);
@FORCOMPONENT(m)|m#NE#6: FOUT(5,p,m) = FIN(6,p,m) +
FIN (11,p,m));
FOUT (10,p,6) + SUPPLY(3,p) = 0.055*FOUT(5,p,5);
I H2 consumption;
I Gasification - Cogeneration;
@FORCOMPONENT(m): FOUT(7,p,m) = FIN(8,p,m));
I Cogeneration - Water-gas shift;
@FORCOMPONENT(m): FOUT(8,p,m) = FIN(9,p,m));
I Water-gas shift - Pressure swing absorption;
@FORCOMPONENT(m): FOUT(9,p,m) = FIN(10,p,m));
I Final products;
PROD(1,p) = FOUT(6,p,9);
PROD(2,p) = FOUT(11,p,10);
)i

I Sizing contraints;

@FOEQUIPMENT_SCENARIO(j,p):

I Sizes in a scenario;
SIZE(j,p)=SIZECOEF(j)*TFLOW(j,p);

I Designed sizes;
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MSIZE(j) >= SIZE(j,p);
I Operational mode;
0.5*Y(j,p)*MSIZE(j) <= SIZE(j,p);
SIZE(j,p) <= 10000*Y(j,p);
Y(j,p) <= 10*MSIZE());
) @BINY(,p));
END

I List of equipment:

Index Name
Pretreatment
Fermentation
Vapor compression system
Crystallization
Ketonization
Hydrogenation
Gasification
Cogeneration
Water-gas shift
Pressure swing absorption
Lime kiln;

RBPROoOo~NoOOA~WNE

= O
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APPENDIX C

SOLUTIONS FOR THE CASE STUDY OF BIOREFINERY DESIGMITH AN
OPTIMUM LEVEL OF FLEXIBILITY

UMNGO Selver Status [Case study] —Ehj
— Salver Statuz 1 Yariables -
Madel Class: INLF Tatal 2337
MHanlinear; 77
State: Global Opt Integers: BB
Objective: 18911 .4 Eoiatraiie
Infeasibility: 0.183225 Total 1837
MHanlinear; A7
Iterahions: 184096
- 1~ Monzeros-
— Esterided Salver Status : Total: 4847
MNaorlinear: 143
Salver Tupe Global Sl
Best Obj 189171 4 [~ Generator Memom Leed [K]-
Obj Bound 18911 .4 iR
Steps. 53 r Elapzed Runtirme [hb: i 2] -
Aclive L 00:03:27
Update nterval: 12 [rterropt Sobver ‘ | Cloze |

Figure 4l. A snapshot of the Lingo solver status report figr ¢ase study.



Table 25. Results on raw materials, products, and wasteéibr).
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450

40.4

Raw materials and products Scenarios

Name Index 1 2 3 4 5 6
Raw materials name

Lignocellulosic biomass 1 1 0 0 0 168 0

Lignocellulosic biomass 2 2 450 450 0 250 450

Hydrogen 3 041 041 0 0.60 0 0.41
Product name

Mixed alcohols 1 40.4 404 0 404 323

Lime 2 19.8 19.8 0 19.8 158 19.8
Waste 0 142 0 0 18 0

Table 26. Results on operational mode (Y).
Processing units Scenarios

Name Index 1 2 3 4 5 6
Pretreatment 1 1 1 0 1 1 1
Fermentation 2 1 1 0 1 1 1
Vapor compression system 3 1 1 0 1 1 1
Crystallization 4 1 1 0 1 1 1
Ketonization 5 1 1 0 1 1 1
Hydrogenation 6 1 1 0 1 1 1
Gasification 7 1 0 0 1 1 1
Cogeneration 8 1 0 0 1 1 1
Water-gas shift 9 1 0 0 1 1 1
Pressure swing absorption 10 1 0 0 1 1 1
Lime kiln 11 1 1 0 1 1 1
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Table 27. Results on total flow rate (TFLOW).

Processing units Scenarios
Name Index 1 2 3 4 5 6
Pretreatment 1 450 450 0 418 450 450
Fermentation 2 450 450 0 418 450 450
Vapor compression system 3 308 308 0 292 292 308
Crystallization 4 151 151 0 146 134 151
Ketonization 5 83 83 0 83 67 83
Hydrogenation 6 40 40 0 40 32 40
Gasification 7 142 0 0 126 140 142
Cogeneration 8 57 0 0 50 56 57
Water-gas shift 9 57 0 0 50 56 57
Pressure swing absorption 10 34 0 0 30 34 34
Lime kiln 11 45 45 0 45 36 45

Table 28. Results on sizes (SIZE and MSIZE).

Processing units Size in every scenarios Design

Name Index 1 2 3 4 5 6 S'2€

Pretreatment 1 4,050 4,050 0 3,764 4,050 4,050 4,050
Fermentation 2 4,050 4,050 0 3,764 4,050 4,050 4,050
Vapor compression system 3 34 34 0 32 32 34 34
Crystallization 4 121 121 0 117 107 121 121
Ketonization 5 36 36 0 36 29 36 36
Hydrogenation 6 12 12 0 12 10 12 12
Gasification 7 213 0 0 189 211 213 213
Cogeneration 8 386 0 0 342 382 386 386
Water-gas shift 9 32 0 0 29 32 32 32
Pressure swing absorption 10 2,109 0 0 1,873 2,089 2,109 2,109
Lime kiln 11 81 81 0 81 65 81 81




Table 29. Results on inlet components flow rate (FIN).

Index Equipment

Scenario
CELLULOSE XYLAN

Components

LIGNIN CARBOX KETONE HYDRO SYNGAS WATER ALCOHOL LIME

Total

1

Pretreatment

Fermentation

Vapor
compression
system

Crystallization

o Ok WN

O Uk, WNPFPOOOODMWDNEPEOOOPMWDN

1

112.5
112.5

0
121.4
112.5
112.5
112.5
112.5

0
121.4
112.5
112.5

0

eNeoNeoloNolNolNolNolNolNolNo)

45
45

0
38
45
45
45
45

0
38
45

N
al

eNeoNeoNoNoNolNoNoNoNolNolNe

67.5
67.5

0
50.1
67.5
67.5
67.5
67.5

0
50.1
67.5
67.5

0

eNeNeololNololololollolle)

eNeoNeoNoNoNolNoNoNoNolNolNe

o0
w
N
&

83.25

83.25

66.6
83.25
83.25
83.25

83.25
66.6
83.25

o

eNeoNeoloNoNoNoNoNoNolNoNolNoNoNoNoNolNoNolNolNolNolNo

o

eNeoNeololNoNeololNolNolololNololNolNolNolololNolNolollolo]

o

eNeoNeololNoNeololNolNolololNololNolNolNolololNolNolololo]

225
225
0
209
225
225
225
225
0
209
225
225
225
225
0
209
225
225
67.5
67.5
0
62.7
67.5
67.5

o

eNeoNeololNoNeololNolNololoNololNoNolNolololNolNolololo]

eNeoNeoloNoNoNoNolNoNeolloNoNoNolNoNolNolNolNolNolNollolNolNeo)

450
450

418
450
450
450
450

418
450
450
308
308

292
292
308
151
151

146
134
151

IcT



Table 29 continued.

Index Equipment Scenario Components Total
CELLULOSE XYLAN LIGNIN CARBOX KETONE HYDRO SYNGAS WATER ALCOHOL LIME
5 Ketonization 1 0 0 0 83.25 0 0 0 0 0 0 83
2 0 0 0 8325 0 0 0 0 0 0 83
3 0 0 0 0 0 0 0 0 0 0 0
4 0 0 0 8325 0 0 0 0 0 0 83
5 0 0 0 66.6 0 0 0 0 0 0 67
6 0 0 0 8325 0 0 0 0 0 0 83
6 Hydrogenation 1 0 0 0 0 383 211 0 0 0 0 40
2 0 0 0 0 383 211 0 0 0 0 40
3 0 0 0 0 0 0 0 0 0 0 0
4 0 0 0 0 383 211 0 0 0 0 40
5 0 0 0 0 30.6 1.68 0 0 0 0 32
6 0 0 0 0 383 211 0 0 0 0 40
7 Gasification 1 56.25 18 67.5 0 0 0 0 0 0 0 142
2 0 0 0 0 0 0 0 0 0 0 0
3 0 0 0 0 0 0 0 0 0 0 0
4 60.68 15.0 50.1 0 0 0 0 0 0 0 126
5 4952 234 675 0 0 0 0 0 0 0 140
6 56.25 18 675 0 0 0 0 0 0 0 141
8 Cogeneration 1 0 0 0 0 0 0 56.7 0 0 0 57
2 0 0 0 0 0 0 0 0 0 0 0
3 0 0 0 0 0 0 0 0 0 0 0
4 0 0 0 0 0 0 50.3 0 0 0 50
5 0 0 0 0 0 0 56.2 0 0 0 56
6 0 0 0 0 0 0 56.7 0 0 0 57

2T



Table 29 continued.

Index Equipment Scenario Components Total
CELLULOSE XYLAN  LIGNIN CARBOX KETONE HYDRO SYNGAS WATER ALCOHOL LIME

9  Water-gas 1 0 0 0 0 0 0 56.7 0 0 0 57
shift 2 0 0 0 0 0 0 0 0 0 0 0

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 50.3 0 0 0 50.

5 0 0 0 0 0 0 56.2 0 0 0 56

6 0 0 0 0 0 0 56.7 0 0 0 57

10 Pressure 1 0 0 0 0 0 0 34.0 0 0 0 34
swing 2 0 0 0 0 0 0 0 0 0 0 0
absorption 3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 30.2 0 0 0 30

5 0 0 0 0 0 0 33.7 0 0 0 34

6 0 0 0 0 0 0 34.02 0 0 0 34

11 Limekiln 1 0 0 0 0 0 0 25.2 0 0 198 45
2 0 0 0 0 0 0 25.2 0 0 198 45

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 25.2 0 0 198 45

5 0 0 0 0 0 0 20.1 0 0 158 36

6 0 0 0 0 0 0 25.2 0 0 198 45

-~
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Table 30. Results on outlet component flow rates (FOUT).

Index Equipment

Scenario
CELLULOSE XYLAN

LIGNIN CARBOX

Components
KETONE HYDRO

SYNGAS WATER ALCOHOL

LIME

Total

1

Pretreatment

Fermentation

Vapor
compression
system

Crystallization

o Uk WN

o~ wWwNPFPOOMNWDNMNPEPOOOORMWDN

1

1125
112.5
0
121.4
1125
112.5
56.25
56.25
0
60.68
67.5
56.25
0

oNelNelolNololololollolle)

18

ecNeoNoBolNoNoNolNoNoNolNolNo

67.5
67.5

0
50.1
67.5
67.5
67.5
67.5

0
50.1
67.5
67.5

0

oNelNelolololololollolle)

O O OoOoOoOo

83.25
83.25

83.25

66.6
83.25
83.25
83.25

83.25

66.6
83.25
83.25
83.25

83.25
66.6
83.25

o

ecNeoNoloNoNoNolNoNoNoNoNoNoNoNoNoNolNolNolNolNolNolNe

eNeNeololNoNeololNolNolNelolNolNolNololNololNololNolNollolole]

o

eNeNeololNoNolNololNolelolNololNolNolNolololNololNololNo

225
225

0
209
225
225
225
225

0
209
225
225
67.5
67.5

0
62.7
67.5
67.5

0

O OO OO0

oNeNeololNoNeololNolNolNelolNolNolNololNololNololNolNollolole]

eoNeNeololNoNeololNolNolNelolNolNolNololNololNololNolNollololo]

450
450

418
450
450
450
450

418
450
450
151
151

146
134
151
83
83

83
67
83
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Table 30 continued.

Index Equipment Scenario Components Total
CELLULOSE XYLAN LIGNIN CARBOX KETONE HYDRO SYNGAS WATER ALCOHOL LIME

5 Ketonization 1 0 0 0 0 38.3 0 25.2 0 0 198 83
2 0 0 0 0 38.3 0 25.2 0 0 198 83

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 38.3 0 25.2 0 0 198 83

5 0 0 0 0 30.6 0 20.1 0 0 158 67

6 0 0 0 0 38.3 0 25.2 0 0 198 83

6 Hydrogenation 1 0 0 0 0 0 0 0 0 40.4 0 40
2 0 0 0 0 0 0 0 0 40.4 0 40

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 0 0 40.4 0 40

5 0 0 0 0 0 0 0 0 32.3 0 32

6 0 0 0 0 0 0 0 0 40.4 0 40

7 Gasification 1 0 0 0 0 0 0 56.7 0 0 0 57
2 0 0 0 0 0 0 0 0 0 0 0

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 50.3 0 0 0 50

5 0 0 0 0 0 0 56.2 0 0 0 656

6 0 0 0 0 0 0 56.7 0 0 0 57

8 Cogeneration 1 0 0 0 0 0 0 56.7 0 0 0 57
2 0 0 0 0 0 0 0 0 0 0 0

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 50.3 0 0 0 50

5 0 0 0 0 0 0 56.2 0 0 0 656

6 0 0 0 0 0 0 56.7 0 0 0 57

acT



Table 30 continued.

Index Equipment Scenario Components Total
CELLULOSE XYLAN LIGNIN CARBOX KETONE HYDRO SYNGAS WATER ALCOHOL LIME

9  Water-gas 1 0 0 0 0 0 0 34.0 0 0 0 34

shift 2 0 0 0 0 0 0 0 0 0 0 0

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 30.2 0 0 0 30

5 0 0 0 0 0 0 33.7 0 0 0 34

6 0 0 0 0 0 0 34.0 0 0 0 34

10  Pressure- 1 0 0 0 0 0 1.70 32.3 0 0 0 34

swing 2 0 0 0 0 0 0 0 0 0 0 0

absorption 3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 151 28.7 0 0 0 30

5 0 0 0 0 0 1.68 32.0 0 0 0 34

6 0 0 0 0 0 1.70 32.3 0 0 0 34

11 Lime kiln 1 0 0 0 0 0 0 25.2 0 0 19.8 45

2 0 0 0 0 0 0 25.2 0 0 19.8 45

3 0 0 0 0 0 0 0 0 0 0 0

4 0 0 0 0 0 0 25.2 0 0 19.8 45

5 0 0 0 0 0 0 20.1 0 0 1538 36

6 0 0 0 0 0 0 25.2 0 0 19.8 45

CT
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