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ABSTRACT

Process Design and Optimization of Biorefining Pathways. (R0&2
Buping Bao, B.S., Zhejiang University;
M.S., Texas A&M University

Co-Chairs of Advisory Committee: Dr. Mahmoud El-Halwagi
Dr. Nimir Elbashir

Synthesis and screening of technology alternatives is a key process-development activity
in the process industries. Recently, this has become particularly important for the
conceptual design of biorefineries. A structural representation (referred to as the
chemical species/conversion operator) is introduced. It is used to track individual

chemicals while allowing for the processing of multiple chemicals in processing

technologies. The representation is used to embed potential configurations of interest.
An optimization approach is developed to screen and determine optimum network

configurations for various technology pathways using simple data.

The design of separation systems is an essential component in the design of biorefineries
and hydrocarbon processing facilities. This work introduces methodical techniques for
the synthesis and selection of separation networks. A shortcut method is developed for
the separation of intermediates and products in biorefineries. The optimal allocation of
conversion technologies and recycle design is determined in conjunction with the

selection of the separation systems. The work also investigates the selection of



separation systems for gas-to-liquid (GTL) techgme using supercritical Fischer-
Tropsch synthesis. The task of the separation nk&tisdgo exploit the pressure profile of
the process, the availability of the solvent asac@ss product, and the techno-economic
advantages of recovering and recycling the solv@ase studies are solved to illustrate

the effectiveness of the various techniques deeelap this work.

The result shows 1, the optimal pathway based aninmim payback period for cost
efficiency is pathway through alcohol fermentatand oligomerized to gasoline as 11.7
years with 1620 tonne/day of feedstock. When thmaci#y is increased to 120,000 BPD
of gasoline production, the payback period will feeluced to 3.4 years. 2, from the
proposed separation configuration, the solvenet®vered 99% from the FT products,
while not affecting the heavier components recoay light gas recovery, and 99% of
waster is recycled. The SCF-FT case is competitiith the traditional FT case with
similar ROI 0.2. 3, The proposed process has coap@major parts cost with typical
GTL process and the capital investment per BPDiikinvthe range of existing GTL

plant.
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1. INTRODUCTION AND LITERATURE REVIEW

1.1 Overview and Background

Over half of U.S. oil consumption is imported ea&ar, equaling to approximately 10
MMbbl/day of fuels, of which 2/3 is used for trawostion fuels, bringing an about
annual 300 billion $ of US economy cost (Spathle2805). When burning these fuels,
2.1 billion metric tons of C@®/ year will be released to environment as pollutio
(assuming 20 pounds of G®@ gallon) (Jones et al., 1999; Hamelinck and F2({02).
This puts both economy and environmental pressoresraditional fossil fuels, and

engenders trend for renewable fuel resources &iaswable operation.

Biomass to liquid (BTL) refineries are among themising choices for the sustainable
processing. Conventional biorefineries are onlyceoned with the particular process
pathway, design, or feedstock/product selectiorthaut broadening the view to the
systematic design and process configuration, norplyapy for multiple
task/scale/numerous technologies optimization efglocess. This work will take into
consideration the process integration techniqueglabally optimize the biorefinery

pathways and eliminate the limitations mentioneovab

The systematic approach to optimize a biomasgjtodiprocess is to integrate the

This dissertation follows the style and format dfeGhical Engineering Science.



biorefinery process from process synthesis andgsanalysis (shown in Figure 1.1).
Process synthesis will generate alternative patbyweastablish performance targets, and
provide holistic insights for the design. While pess analysis will incorporate
simulation and mathematic models to produce inpiplat relations, compare
performance and operating conditions, and screenatternative designs from the

process synthesis to finally reach the optimaldfioery pathways and designs.

Input Data

L

Generate alternative pathways,
establish performance targets,
provide global insights

Input/output relations,
performance vs. design
and operating conditions,
screening of alternatives

Optimal Biorefinery
Pathways and Design

Figure 1.1. The Design Approach for Biorefinery ¢asses

This dissertation presents the approaches andcapiphs of process optimization and
integration for a XTL refinery pathway selectiondadesign. It provides a systematic

framework for conceptual designing and optimizihg technology route for producing



value added chemicals and fuels from biomass arralatesources. The first section
covers the background and technologies introdudtiothe problem in the disseration,
including the Fischer-Tropsch technology, the Hiosxy overview, the biomass
feedstock treatment and GHG analysis. The secoctibsentroduces the approaches
and methodologies for the problem solution, inahgdprocess synthesis and problem
analysis. The third section focuses on developimg gystematic way for biorefinery
pathway optimization, followed by section four féhe continuing work on the
conversion technology integrated with material icgption network to further optimize
the biorefinery pathway system. The fifth secti@tailed the aforementioned pathway
by exploring the unit operation and process desitwe. scope of the techniques covered
in the approach ranges from the mass integrati@at lntegration, and property
integration, including mathematical programmingagrical approach, separation and
recycle methods. Process simulation, economic atiahy greenhouse gas life cycle
analysis and other analysis measures will be cdeduto evaluate the potential and

optimizing opportunities for the illustrated cases.

1.2 BTL Technology Introduction

Biomass feedstock treatment technology could begoaized into thermochemical
conversions and biochemical conversions. Thermoadansonversion typically uses
high temperature and pressure to improve convergifficiencies. Therefore the
feedstock need to be less moisturized and coulgerande. Thermochemical conversion

technologies include:



Combustion utilizes excess oxidizer to convert fuels by 10@produce heat, CO

H.O, ash and other incomplete reaction productsgit timperatures between 1500 and
3000 °F. The process will not generate useful néeliate such as fuel gases or liquids.
The heat efficiency is dependent on the furnacegdesperating conditions, feedstocks,

and system configuration (Hackett et al., 2004).

Gasification is a process that generally uses oxidation or éetliheating to produce
mainly fuel gases including synthesis gas, methamg other light hydrocarbons
depending on the process operations (Hackett,e2@04). It also uses air or oxygen as
input to produce oils, tars, char as additionapatias well. Gasification can be applied

in processes like methanol production, Fischer-3cbFT) process, etc.

Pyrolysis typically refers to gasification similar processist don't include air or
oxygen as an input. It produces pyrolysis oils ficloxygenated hydrocarbons that can
be directly used or upgraded to higher quality dieals, fuels as primary products. It
also produces gases and solids. Refining of pyiolygs will generate stable and easy
handling value added chemicals. In addition to thermal degrading of the solid
biomass, there are catalytic cracking technologfed involves catalysts to increase
product selectivity and embedding favorable graigphe products, such as volatility or
solubility (Hackett et al., 2004). The reactionidascould include Circulating Fluidized
Bed Pyrolysis, Bubbling Fluidized Bed Pyrolysis, t&og Cone, Entrained Flow

Pyrolysis, Ablative pyrolysis, Moving Bed or AugByrolysis (Bridgewater 2007). The



produced pyrolysis oil is a “dark brown, free-flawg, unstable liquid with about 25%
water that cannot be easily separated” (Oasma&aoppala, 2003, Diebold, 2000). It's
immiscible with traditional hydrocarbon fuels (Bgewater, 2007). To utilize the pyoil,
it could be converted to high quality fuel by renmyy the oxygen via hydrotreating

process.

Liguefaction requires lower temperatures but higher pressurésslhigh conversion to

liquid fuels.

Biochemical conversion doesn’t care the moisturéheffeedstock and operates at mild
temperatures. And it will give higher selectivity products but has lower conversions.

Biochemical conversion technologies include:

Fermentation generally uses yeast or bacteria to function wathaxygen to produce
ethanol, acids, and other chemicals from celluldeexstocks. Cellulosic in biomass,
need pretreatment such as acid treatment, enzymatidiydrolysis to decompose
cellulose and hemicellulose to easy fermented m#ec Lignin is not viable for
fermentation but could be reactant for thermochattonversion. Anaerobic digestion

Is also classified as one of the particular ferragon.

Anaerobic digestion is a fermentation technique occurring mostly in t@awater

treatment, sludge degradation, and landfills. lerapes at anaerobic conditions and



produces biogas that includes methane and carlmxiddi as main products, and also
moisture, H2S, siloxane as by products. Technebtp separate methane from biogas
cover the following methods: scrubbing, pressurengwabsorption (PSA), Selexol

(polyethylene glycol ether), membrane separatiod,@yogenic separation (Lynd 1996).

Aerobic conversionhas higher conversion rate than anaerobic procesaesot tends
to produce value added gases. It usually takee @asludge orwaste water treatment

processes (Wooley et al., 1999).

Boerrigter (2006) indicated in the report that katapital cost of BTL plants is usually
60% higher than GTL plant with same scale and teldyies through FT conversions,
due to the following reasons: 1, extensive soliddhag and treatment for the feedstocks,
2, 50% more oxygen input is demanded for BTL rasglin lager ASU capacity, 3,
additional application of Rectisol unit is installeo remove impurities and clean syngas.
Boerrigter (2006) concluded the same conclusion lger capacities will favor more
economical production is given from this assessmiémé cost calculation approach is
following the way Boerrigter (2006) did, and itee¢nced the ORYX GTL (34,000 BPD)

with TCI of 1100 MM$.

The notion of first generation biofuels is liquithtuels like ethanol from sugar plant, oil
from oil crops, biodiesel from esterification. Th&w fuel qualities, low environmental

efficiency (50% avoided CO2 emission compared & &0 the second generation), and



low production capacity due to specific feedstoakps production lead to the necessity
to utilize other biofuels from the second generatibhe second generation biofuels are
produced from lingo-cellulose feedstock and has lgjgality fuels with as high as 70%

BTL efficiency (Boerrigter, 2006).

These BTL design studies introduced a basis fontifjeng the status of alternative
conversion technologies for producing biofuels. Séhstudies also helped understand

technical barriers for the design and cost imprasminpotential.

1.3 Feedstock Introduction and Pretreatment

Different feedstock has wide range of compositiansl hence various handling and
converting technologies. The feedstock characterasid compositions will also affect

the following processing designs, conversion redpjtal cost, and choices of fuel types.
There are biomass feedstock such as municipal s@sle (MSW), algae, energy crop,

plantation waste, farm residuals, landfill gas, etc

There are microalgae and cyanobacteria (blue gedgae) which can be cultivated
either by photoautotrophic (which needs light tovgy in ponds, or by heterotrophic
methods (which doesn’t need light and need carlooince to grow). Another category
of algae called macroalgae (or seaweed) has differativation requirement of open
off-shore or coastal facilities. Therefore wasteeraCO2, sugar waste streams could

serve as the nutrient source for algae grow. Tiigculty with technology handling



algae lies in the large water amount existing .iTite government investment in algae

development adds to $180M in 2010 (Hamelinck arjjl Z202).

Morello and Pate (2010) shows a variety of techgie® that could be applied to convert
algae into value added chemicals (shown in Figu2g The advantage of using algae to
produce fuels include:1, it occupies less landt Bas high production and easy culture
(Micro Algae of 700 - 7000 vs. Corn 18 vs. SoybedBsgallon of oil/acre/yr), 3, it
doesn’t compete with food crops, 4, it can potdiyticycle waste and CO5. It could
reduce demand on fresh water. The factors thataffiict the efficiency of the process
include: 1, algae species will choose differentcpesing decision and cultivation
resources, 2, algae cultivation will determine efiéint facility and scale 3, algal
harvesting and processing will determine differesthnologies and result in different

conversion rate (Morello and Pate, 2010).

Harvesting of algae is conducted by flocculaticentafugation of biomass, and solvent
extraction. Since algae is high moisturized, thst dor extraction will be three times
higher as usual for soybean extraction. The residieaass will be used for anaerobic
digestion and C rich products will be recycled b&zkhe pond. Early cost analysis for
large-scale microalgae production in the 1970s d@mihg the 1980s showed that the
biological conversion accounts for the most costdiaand open pond designs seem to
be the most cost effective technology for algaalpetion (160 barrels of crude oil/ha/yr)

(Benemann et al., 1978). Without major improvementsulture patterns, economic



activity, alternative design, material handlingerén will be long term for looking for

new algae utilization techniques.

Cyanobacteria Unicellular Multicellular
Macroalgae

Open Terrestrial Closed Terrestrial Open Offshore
istem ystem Systems
Systems Hybrid Systems Y

Figure 1.2. The Various Pathway to Produce FuaisCGtremicals from Algae (Morello
and Pate, 2010)
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“MSW is defined as household waste, commercialdsehste, nonhazardous sludge,
conditionally exempt, small quantity hazardous wastind industrial solid waste. It
includes food waste, residential rubbish, commeéread industrial wastes, and
construction and demolition debris.”(Williams, 200Wnited States Environmental
Protection Agency (EPA) reports that in 2006 theamal MSW amount was more than
251 MM tons per year, and 45% was treated by rewyclcomposting, and energy
generation. If all the MSW was converted to fuelmre than 310,000 bbl per day of
liquid fuels (about 1.4% of U.S. transportation I€)ewould be produced. And this
accounted for an 544 MM metric tons/yr of £@missions reduction through MSW
treating (Ilvannova, et al, 2008; Stinson et al,5t98ng, et al, 1990; Ham, et al, 1993;
Baldwin et al, 1998; Department of the Environmd®95; Micales and Skog, 1997). It
will retain a lot of heating value from recoveriMSW. To pretreat MSW, it's better to
convert it to refuse derived fuel (RDF) first, whesize is greatly reduced, characteristics
and composition of the material are improved (lopellutant, easier handling, less air
combustion, homogeneous composition), and heatahgevis increased by approaches
of screening, sorting, and pelletization. Afteistetep, 75%— 85% of MSW is processed

to RDF and 80%—-90% of the heating value is recalélenes et al., 2009).
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Lab experiments were tested and compositions of MSW were analyzed from the work
(Table 11). MSW is majority cellulose, hemicellulose and lignin composed. The lignin is
not viable to degrade. Elements like S, Cl, F, As and P are volatile and will poison the
catalysts for later synthesis processing steps (Baldwin et al., 1998), and elements like Cd

and Hg are also difficult to remove and increase catalyst burden (Figure 1.3).

Table 1.1. The Composition of MSW Anlaysis (Valkenburg et al, 2008)

Percent of
Mass Generated Total
Materials (MM sTon) Generation
5aper and 5aperboard 853 339
Glass 13.2 53
Metals

Ferrous 14.2 57
Aluminum 3.26 13
Other Nonferrous 165 0.7
Total Metals: 19.1 7.6

Plastics 295 1.7
Rubber and Leather 6.54 26
Textiles 118 47
Wood 139 55
Other Matenals 455 1.8
Total Materials in Products: 164.79 73.2

Other Wastes

Food Scraps 313 124
Yard Trimmings 324 129
Miscellaneous Inorganic Wastes 3.72 1.5
Total Other Wastes: 67.42 26.8

Total MSW: 251.31 100
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Government will apply tipping fee of about $24.08 pon in the south to $70.06 per ton
in the Northeast (Repa, 2005) for treating MSW. phetreatment steps include (Phyllis,
2008): removing non-grindables such as metal aasisgldrying and milling, and finally

sent to gasifier (Shown in Figure 1.4).

100% -

90% -

80% mF
70% mcl
60% ms
50% - mN
40% mo
30% - mH
20% mC
10%

0% T T v

0“ o'} &

& & Y
® GC? QOQ ‘\é $,

\o - &g

Percent

C

Fuel

Figure 1.3. Elemental Analysis of MSW and OtherrBass Feedstock (Valkenburg et al,
2010)

Biomass pretreatment includes torrefaction andhflagolysis for bioslorry producing

(Wooley et al., 1999). Syngas treatment and cayity includes: syngas cooling,

water gas shift, CO2 treatment, and impurities neathdl he gasification for biomass has

advantages of high efficiency conversion to biogas In addition, it could support

wide range of scalability, and has flexibility tanron coals as back-up fuel.
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Besides the operational and technology performagifact for the BTL process, the
feasibility and opportunity of biomass refinery atso concerned with the following
constraints, difficulty of feedstock handling antpeatment, impact of feedstock crop

production and price, impact of scale, impact efdfgock transportation, etc.

Initial Tromme Eddy-current
Shredder Screen - Separator
/ Mil Final Screen
Secondary Secondary Magnetic
Shredder Screen Separator

Figure 1.4. The Pretreatment for MSW Process (\rdikeg et al, 2010)
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2. METHODOLOGY AND APPROACH

2.1 Overview of the Process Design Approach

The framework in this biorefinery process designrkwvmvolves material treatment,
mass recycle, heat retrofitting, and so on. Thegghasize the use of process integration
approach and picture the design from holistic vigithout exhausting in the separate

unit detailing.

The design and optimization of chemical and indalsprocesses is targeted to improve
the performance of the following items: raw matertc@nservation, waste output
reduction, energy efficiency increase, yield anddpict quality enhancement, capital
cost reduction, safety emphasis, and process flgxiand debottlenecking (El-Halwagi,
2006). The development of process integration bddd a systematic and fundamental
framework that could incorporate widely-applicatdehniques and address the process
design problems. This can be categorized into posgnthesis techniques and process

analysis techniques.

The traditional process design and improve appesatypically cover: 1, Adopting old

designs, that is to solve similar problems basedexperiences of earlier developed
methods. 2, Using heuristics, that is to solveatertypes of problems with general-
applicable experience-generated knowledge and metl¥) By brainstorming, that is to

list only a few generic alternatives for the problelesigns and screen from them
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through optimizing techniques. (El-Halwagi, 2006 h\W these approaches suggest a
good platform for generating various alternativasthe process, they didn’t identify the
internal challenges for the problem and didn't takes an integrated system, thus
leaving a few limitations for obtaining the optimwulution. These limitations include:
1, Only a few of the existing process alternaticesild be suggested, and the real
optimum solutions maybe neglected. 2, They're tand cost consuming for evaluating
each alternative. 3, They didn't really diagnose thot causes of the bottleneck of the
process problems. 4, Since they're derived fromeerpces and existing knowledge, the
application will be limited and incompatible withet real case. 5, With the above listed

reasons, it's usually not getting the optimum tafgethe designs. (El-Halwagi, 2006)

In order to treat the root causes of the problentsgenerate an effective and sustainable
framework, it's necessary to perform a processgmtion technique. “Process
integration is a holistic approach to process degsigtrofitting, and operation which
emphasizes the unity of the process.” (ElI-Halwa§97) Process integration has been

classified into mass integration and heat integnafdiscussed in later sections).

Process synthesis presents a configuration thatbio@® separate elements and
interconnects them in a systematic way. These elmeclude the parameters,
equipments, and structures of the process. By batm inputs and outputs for a process,

it's able to generate an optimum flowsheet forghecess design (shown in Figure 2.1).
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Process Elements
- & Characteristics
(to design)

Inputs
(known)

Outputs
(known)

Figure 2.1. Process Synthesis Representation (Edga 2006)

In contrast to process synthesis, process anaysis at evaluating and predicting the
performance outputs of a process design with knawputs and flowsheet details
(shown in Figure 2.2). This analysis could be earrout by computer aided software,

mathematical formulation, and empirical models.

Process Elements
+ & Characteristics
(known)

Inputs
(known)

Outputs (to
predict)

Figure 2.2. Process Analysis Representation (EWwkeigi, 2006)

The process integration is performed in the follogvsteps: 1, data generation, to gather
necessary data or models with known conditions @eebtbp strategies for problem
solving. 2, targeting, to set up the goals to df@eved and to identify the idealistic goal
ahead of detailed design as a useful insight. @ppeing process synthesis, to generate

design alternatives framework that could be embedutessible configurations and to
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select the optimum solutions using optimizing techniques. 4, performing process

analysis, to assess and validate the behavior of the generated alternatives.

2.2 Methodology on Mass and Energy Integration

Mass integration provides a systematic and fundamhewdy to identify the optimal

mass segregation, mixing and generation strategies throughout the chemical processes,
the performance of which will affect the characteristics of those streams. The main
elements in the mass integration are the sinks and sources. They could accept species or
generate species according to the design specifications and therefore influence the
streams operations. There are many tools to conduct mass integration, like graphical

strategies, mathematical models, and optimization softwares.

Mass integration requires firstly to target the mass potential of the strategy. This includes
the determination of for example (El-Halwagi, 2006):

* To what extent the mass amount could be recycled?

* How should the mass streams be segregated and split?

* What is the minimum waste that could be discharged?

e What is the minimum fresh feed amount?

* How should the optimum mixing fraction be?

* What unit should be proper streams assigned to?

* Should the units be replaced or added?

* How should the units be operated and conditions controlled?
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With source and sink graphical techniques, thenoptn target could be reached for
mass recycle problems (shown in Figure 2.3). Thpssfollows: 1, rank the sinks and
sources in ascending order of compositions, 2, thietsink and source with the load of
impurity vesus flowrate. Each sink is connectedrfitie arrow of the previous sink with
superposition arrow starting from the sink with &st/composition. The same is applied
to sources. The fresh feed and the waste disclagyeepresented by the rate of the
flowrate of the starting and the end between thk and source composite curves. After
that, the source composite curve could be moveadwally until touched by the sink
composite curve. The touch point is representeth@pinch point. This means, at this
point, the minimum waste charge and minimum fresbdfis achieved. The flowrate
amount passed between the pinch is reduced. Thrisetycle extent, the waste flowrate,
the feed flowrate could be reduced by this amotine thumb rule applied here is that,
there should be no fresh feed to sink above thehpino waste from the source below

the pinch, and no flowrate passed in the pinchH&lwagi, 2006).
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Load

Sink

Composite
Curv

Material

Recycle
Pinch
Point

Source
Composite
Curve

Flowrate

Minimum Maximum Minimum
Fresh Recycle Waste

Figure 2.3. Sink and Source Composite Diagram fatevlal Recycle Pinch Analysis
(El-Halwagi, 2006)

Another important strategy to obtain the targebysincluding interception systems.

Interception generally takes charge of the prostssams’ properties such as species
composition, flowrate, to make them suitable foksilesigns by adding new equipment
along with related materials. One particular casié separation system for the species

allocation.

While it's helpful and beneficial to apply the vauools for these problems, it’s still

necessary to employ algebraic methods when it meetsases of numerous process
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units or multiple task identification. In a massnthesis network, a mathematical

programming technique could be utilized to detesrarsustainable process mass design.

In a source interception sink network, the formolatcan be expressed as this way.
Sources can be segregated into fractions and senttdrception units to separate
unwanted species, and treated streams can be racading to the requirement of
each sink and fed into the sinks. The sinks cowddcbntrolled for the design and
operating purpose. It is desired to determine theimum cost for the interception
network, and at the same time the optimum allopadibthe splitting and mixing of the
streams between the sinks and sources could bemileéel. The representation is shown
in Figure 2.4. To solve it in a global linear opizetion perspective, the interception
network could be adjusted using assumptions thet ederceptor is discretized into a
few interceptors for each split streams to feedBach interceptor is fixed with the

separation efficiency.

Fresh

Source 1

W -
2\’
Interception \"5!{
Source i p \?&\#’.

Network DS
Nsource A | Nsink |-

Figure 2.4. Representation of Source Interceptiok Network (El-Halwagi, 2006)
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The objective is to decide the minimum cost for flystem, including the cost of the

intetceptors and the cost of the fresh feed cadwaaste cost (El-Halwagi, 2006).

NUint

L . N .
Minimize total annualized cost &xyesn Z].jl"’“ Freshj + %, -1 Cy X ay X wy, Xy +

Cwaste X waste
Subject to the constraints of:
Each source i is split into streams for each irgetar u
F, = z wy i =12, ... Ngjpps
uevy;
The unwanted species removal in the uth intercaptor
yot = (1—a,) Xy u=1.2,..NU

The streams coming out of each interceptor u i plvaste and different sinks

NU
Wy = Z Gu,j + Juwaste U = 1,..NU
u=1

The flowrate for each sink j is mixed by streamsnirfresh feed and streams from

interceptors

NU
G; = Fresh; + Z Guj J =71 - Nsings

u=1
Material balance for each sink j when mixing

NU
Gj X Z]?n = Fresh; X Ygresn + Z Gu,j X v j =12, ... Nsinks

u=1

The material composition requirement for each $ink

min in max ; _
Zj S Zj S Zj ] = 1,2, "'NSileS
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The total waste is mixed by the streams from undises

NU

waste = Gu,jwaste
u=1

where

a, is the separation efficiency of the interceptor u
C, is the cost of the interceptor u

Crresn IS the fresh feed cost

Cyaste 1S the waste treatment cost

Fresh is the flowrate of fresh feed

waste is the flowrate of waste stream

y™ is the composition from each source to unit u
w,, is the flowrate to each unit u

Ju,j is the flowrate coming out of each unit u to diéhet sink |
G; is the flowrate into each sink j

F; is the flowrate of each source i

z]-i" is the composition of streams into each sink |

Synthesis of heat exchange network will signifitaréduce the complex of the external
utility tasks and increase the heat efficiencytfo process. In a typical process, there
will be a variety of hot streams need to be co@ad cold streams to be heated. This
introduces a lot of duty for external utilty usa@efore the external utility is applied, it

Is possible to transfer heat from hot streams td sweams according to thermodynamic



23

rules. This is what heat integration does (shownFigure 2.5) to simultaneously
improve the energy efficiency in the process whalehieving the optimal system

configuration in this regard.

Cold Streams In

1]

> -
Hot > Heat — > Hot
Streams Exchange
> -
n N Streams

(HEN) Out

AN

Cold Streams Out

k J

—

Figure 2.5. Representation of Heat Exchange NetBlHkialwagi, 2006)

Various heat network methods have been developstlttee key responsibility is to
solve these problems:

How should the heat be exchanged between hot ddditeams?

How much is the optimal heat load from externdity®

Where and how should the heat utility placed oreai@d

How is the thermal system arranged?
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One of the techniques used here to answer thestiangeis by graphically generating a
heat exchange pinch diagram (shown in Figure ®.@rget for the optimal design. The
first step is to list all the hot streams/cold atres by drawing the starting and ending
temperatures versus enthalpy exchange. The terapesdor cold and hot streams are
plotted in the coordinate one-to-one corresponginglll hot streams are super
positioned by the heat load scale using diagorial And the same is applied to all the
cold streams to construct the cold composite cudiféerent heat exchange strategy will
imply different position of cold composite curve moving it up and down. The point
where the two curve touch is the thermal pinch paiumere the minimum heating utility
and minimum cooling utility are obtained. The desigle to achieve the optimal heat
decision follows: 1, there are no cooling utiliti@ésove the point. 2, there is no heating
utilities below the point. 3, there is no heat flpassed the point (El-Halwagi, 2006). In
this way, the maximum heat exchange could be iatedrwithin the existing process

streams and optimal energy design system is adhi@seording to this target.
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Figure 2.6. Heat Integration Diagram with PinchrR¢kEl-Halwagi, 2006)

Interve Hot Strear Cold Strear
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10 v THSOUtl THSOUI' ATmin
Ton
N T |

Figure 2.7. The Temperature Interval Diagram foatHebads of Hot and Cold Streams
(El-Halwagi, 2006)
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After that, heat intervals diagrams 2.7 will be constructed for a table of exchangeable
heat loads to express the temperature and heat load relationship. From the table, the heat
loads of process hot and cold streams could be calculated. It's a useful tool to represent
the thermodynamic heat exchange, with the horizontal lines indicating the temperatures
and vertical arrows indicating heat of each stream, where the tail defines the supply
temperatures and head defines the target temperatures. The heat loads could be

represented by algebraic expressions (El-Halwagi, 2006).

Residual Heat from
Preceding Interval

lrz-l

H Total ~ HCTotaI
z z
Heat Added — = > Heat Removed
by HHU ot Z HCuTo® by
Hot Streams z I —p Cold Streams

|
z
Residual Heat to
Subsequent Interval

Figure 2.8. The Heat Balance for Each Heat Interval (EI-Halwagi, 2006)

A schematic representation is shown in Figure 2.8 to illustrate the heat balance around
each temperature interval. The heat balance around each interval is calculated by the
residual heat, heat of process streams, and heat from heat utilities. With the rule of

thermodynamic, it's practical to pass heat from heat intervals with higher temperatures
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to lower temperatures, but not the reverse diracthnd it's feasible to transfer heat
from heat streams to cold streams within the p¢esHalwagi, 2006).

r, = HH®® + HHU [*® - HC]*® - HCU[*® +r,,

The heat supplied from tHéth hot stream is

HHu = I:uCp,u(Tus _Tut) u=q,2, ... NH

The heat supplied to th¥éth cold stream is

HCV = vap,v(t\? _t\t/) V:1 2 NC

Using the table of exchangeable heat loads, thelbad for each hot stream within t
each temperature interval can be determined by

HH,, =F.C,, (T,,-T,)

And the heat load for each vth cold stream wittaohezth temperature interval can be

determined by

HC\AZ = vap,v(tz—l _tZ)

Therefore, the total heat load entering and leatlagzth interval can be calculated by
the summation of all the cold and heat streams.

HH ' = > HH

u passeshroughinterval z
whereu=1,2,....., Ny

u,z

HC,* = HC,,
v passeghroughinterval z
andv=12....N¢

Where

F.C

u~ruis heat capacity of hot stream u
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Cou is heat capacity of cold stream v

HC, is heat supplied to théth cold stream

HH. is heat discharged from tikkth hot stream

f1,"2 is the residual heat entering and leaving Zltle heat interval

Tz—l, T. is the top and the bottom temperature defining atie interval for the hot
streams

S t
T, : T, Is inlet and outlet temperature for hot stream u

tz—l, L is the top and the bottom temperature defining 4hle interval for the cold
streams

S t

t : L s inlet and outlet temperature for cold stream v
After this, the heat intervals for all the temparatlevels throughout the process could
be interconnected and heat integration could béopeed (shown in Figure 2.9). The
point with the lowest heat residual which is negatwill is called pocket. Since heat
residual should not be negative, a heat surplushgiladded from the top of the heat
cascade sequence to make it be zero. This zero widife the pinch point, where the

minimum heat consumption is achieved. The heat chddam the top will be the

minimum heating utility and heat in the bottom via# the minimum cooling utility.
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3. ASHORTCUT METHOD FOR THE PRELIMINARY SYNTHESIS OF
PROCESS-TECHNOLOGY PATHWAYS: AN OPTIMIZATION APPRATH
AND APPLICATION FOR THE CONCEPTUAL DESIGN OF INTEGRED

BIOREFINERIES*

3.1 Introduction

Fossil fuels have been essential in meeting a aotist portion of the global energy
demand. With the continuous growth of populatiod andustrial activities, the World’s
energy consumption is projected to increase by #é% 2006 to 2030 (EIA, 2009). In
addition, liquid fuels are expected to remain as World main energy source with
consumption of approximately 90 million barrels gty currently (EIA, 2009). The
dwindling fossil-energy resources coupled with ihereasing energy demand will
ultimately lead to the exhaustion of fossil fuelShéfiee and Topal, 2008). This

underlines the need to develop alternative enesgyces including biofuels.

Biofuels are renewable energy forms derived from arganic material such as plants
and animals. They can provide a variety of envirental advantages over petroleum-
based fuels including sustainability and the reiduactin greenhouse gas (GHG)

emissions. For example, in a full fuel cycle, cethanol has the potential to reduce

*Reprinted with permission from “A shortcut methfmt the preliminary synthesis of process-technology
pathways: An optimization approach and applicafmrthe conceptual design of integrated biorefiegti

by Buping Bao, Denny K.S. Ng, Douglas H.S. Tay,uotJiménez-Gutiérrez, Mahmoud M. El-Halwagi,
2011. Computers & Chemical Engineering, 35, 137831&opyright [2011] by Elsevier Ltdhe right to
include the journal article, in full or in part, nthesis or dissertation
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GHG by as much as 52% compared to conventionall fagds (EIA, 2009). Such

reduction is attributed to carbon dioxide beingussgrated during photosynthesis and
growth of crops. The processes that convert bisna@® biofuels produce inherently
low GHG emissions and are more environmental ftielad compared with processes
for fossil fuels. The amount of investment anddimg for biofuels research and

production totaled at more than $4 billion worldwith year 2007 and is expected to
increase over the years (Bringezu et al., 2009)orefineries are processing facilities
that convert biomass into value-added products sschiofuels, specialty chemicals,
and pharmaceuticals (Ng et al., 2009). There ardtipteu established conversion

technologies (e.g., thermochemical, biochemicat,.)ein a biorefinery. The U.S.

Department of Energy suggested five primary plat®r(i.e. sugar, thermochemical,
biogas, carbon rich chains and plant products qiet$) to describe the expanded
conversion technologies for a biorefinery (NRELQ2) Given the tremendous number
of potential alternatives and combinations of textbgies in a biorefinery, there is a
strong need to quickly and methodically generatd screen alternatives. It is also
necessary to explore different levels of integraiio a biorefinery to reduce waste and
conserve resources (e.g., Azapagic, 2002). Inpdper, we use the term an “integrated
refinery” to refer to a biorefinery that integratesiltiple technologies and platforms

(compared to a biorefinery that uses a single telcigy or a platform).

In order to synthesize a cost-effective integrdttiedefinery, various technologies should

be examined and analyzed. Ng et al. (2009) prapaskierarchical procedure for the
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synthesis of potential pathways and developed temsydic approach to screen and
identify promising pathways for integrated bioreiies. The approach uses a sequential
method to screen competing technologies basedesmtdynamic feasibility and gross
revenue (sales minus cost of raw materials). RgceNg (2010) presented a pinch
based automated targeting approach to locate thenmme biofuel production and
revenue targets for an integrated biorefinery piiorthe detail design. Simple
conversion models were used in a cascade anatysedet the yield of a biorefinery
based on the flows of mass from sources to sinkisiléAthis approach is useful in
getting targeting estimates, it is limited to simpéchnological models and does not
account for capital investment. Tay et al. (201%jerded the used of a carbon-
hydrogen-oxygen (C-H-O) ternary diagram to synttesand analyze an integrated
biorefinery. Using graphical insights, the overadirformance target of the synthesized
integrated biorefinery can be determined. Additiynadetailed techno-economic
analyses have also been conducted for several bgtoeenergy pathways such as
thermal processes (e.g., Goyal et al., 2008) aadidsel production (e.g., Mohan and
El-Halwagi, 2007; Myint and El-Halwagi, 2009; Pokédkins et al., 2010a; Qin et al.,
2006). Research efforts have also been directedrttsmestablishing processing routes
prior to establishing the optimal product for opdinenergy savings in the process (e.g.,
Alvarado-Morales et al., 2009; Fernando et al.,&0Bosling, 2005). Sammons et al.
(2008) incorporated economic perspective to analgmeintegrated biorefinery and
develop a systematic framework that evaluates enmiental and economic measures

for product allocation problems. Tan et al. (2068yeloped an extended input-output
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model using fuzzy linear programming to determine optimal capacities of distinct
process units given a predefined product mix andr@mmental (carbon, land and water
footprint) goals. Elms and El-Halwagi (2009) irdumed an optimization routine for
feedstock selection and scheduling for biorefirerend included the impact of
greenhouse gas policies on the biorefinery desgioo-Aikins et al. (2010b) included
safety metrics along with process and economic iosetto guide the design and

screening of biorefineries.

Since there is a very large number of availablegse configurations, feedstocks, and
products in an integrated biorefinery, it is neeegsto develop a systematic
methodology that handles such complex process ssistiproblem which is the subject
of this work. A systematic approach is developedhiis work, to quickly screen the
potential technology pathways and to synthesizenéegrated biorefinery based on
various objective functions (e.g., maximum produtti revenues, etc.). The use of
limited data on the performance of technology iomporated in a structural
representation that embeds potential pathwaystefast. An optimization formulation is
developed to screen the potential pathways aneéveldp a preliminary and conceptual
flowsheet of the biorefinery. Integration of mulépconversion technologies and the
produced species is systematically achieved visofienization framework to quickly

screen and synthesize a technological pathway.
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3.2 Problem Statement
The problem addressed in this paper can be sintpteds as follows: Given a set of
feedstocks and a set of desired primary produgisthesize a process that meets a
certain objective (e.g., maximum yield, maximum sgagevenue, etc.). Available for
service are a number of processing (conversiomntogies with known characteristics
of performance (e.g., yield, cost). The conceptdesign procedure is intended to
quickly screen the numerous alternatives, to preduconceptual design of the major
components of the biorefinery, to integrate techg@s and to set the stage for more
detailed techno-economic analysis. While the probétatement and the approach to be
presented apply to the synthesis of general chémioaesses, focus in this paper will
be given to biorefineries starting with a numberhbaimass feedstocks. This focus is
chosen because of the significant opportunitiethéarea of biorefineries where there

are numerous evolving alternatives that shouldcbeemied and integrated.

3.3 Approach And Mathematical Formulation
Instead of tracking the biomass and product mistuilee network is categorized into
chemical species and conversion technologies (tgejaThe analysis is started with
the following steps:
1. List the available conversion technologies alonthwheir performance
characteristics (e.g., yield, cost) based on liteeasurvey, simulation,

reaction pathways synthesis, etc.
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2. Based on the characteristics of the biomass feekistthe desired
products, and the conversion technologies, develbgt of the candidate
chemical species that may be involved in the bioeej. Letc and NC be
the index and the total number of the chemical iggecespectively.

3. Break the biomass feedstock into key chemical sge(@uantified based

on chemical analysis)

Next, a chemical species/conversion operator (CSfi&Qjram is introduced (Figure 3.1).
The CSCO diagram has alternating layers of chensipaties followed by conversion
operators (processing technologies). There areap@rd of chemical species and NP — 1
layers of conversion operators, each designatedéoindexi. The first chemical-species
layer { = 1) is the biomass feedstock (broken into chehsipacies) while the last €
NP) represents the desired product. The other datimpecies layers represent the
candidate intermediates involved in the biorefinefy certain chemical species,
produced from various conversion operators in layer collected from the different
conversion operators and fed to the correspondiegnical-species node, in layeri +

1. Recycle is allowed by allocating a speade an earlier layer. Furthermore, a certain
chemical species;, in the chemical-species layeris allowed to split to the different
conversion operators in layerin addition to available technologies in eachvarsion
layer, blank operators are also added to allow ecisp to go through the layer

unchanged.
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Figure 3.1 Chemical Species/Conversion Operator (CSCO) Mapping for the Structural Representation of the Biorefinery-
Pathway Integration
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The foregoing concepts can be included in an opation formulation that involves the

following constraints:

The performance model for conversion opergan layeri (referred agy, ;) relates

the flowrates of the different chemical specieseeny and leaving the conversion

operator, i.e.

(e P e Fne) = @y s (B ey iner0g,0,) g, T

gid1rttrgiLiertt g il g e 9’79

where F;'.and F,",; . are the flowrates of chemical speaideaving and entering

conversion operatay; in layeri. The design and operating variablegjcdre denoted by

d, andQ, , respectively.

The total annualized cost of conversion opergtar layeri, TAC, ., is given through

gj.i?

the functioani — as follows:

TAC, = Q, (Fg;ir"i’1,...,F£;ir"i,c,...,F;?’i_NC,dgi 0,) Og,, i
The flowrates of the chemical spectei® chemical-species layeirs 1 andi (designated

respectively by .1 andF.;) are related by the rates of formation or depietia

chemical reaction over all the conversion operatothat layer, i.e.



I:c,i+1 = I:c,i +ngi Cii Dgl ’ DI
i

wherer, . is the rate of formation/depletion of chemical spsc in conversion

operatorg; and is given a positive sign for formation ancegative sign for depletion.

Material balance for the splitting of the flowratespeciex from chemical-species layer

i to the conversion operators in layé€Figure 3.2):

gi .Cii

F.=> Fr Oc, i
Ji

Material balance for the mixing of the flowratespfeciex from the conversion

operators in layerrto the chemical-species layiex 1 (Figure 3. 2):

Foa= Y F Oc, D

c gi Cii
[¢]

The objective of the optimization program may beed at maximizing the yield of the

desired product, i.e.

Maximize k5 np

whereF, npis the flowrate of the desired product (index p) leaving the last chemical-

species layer (indeix= NP).
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Another option for the objective function is to nmakze the economic potential which is

defined as the value of the product less the dogtealstock and processing steps, i.e.,

o Produci __ (~Feedstock- Feedstock__
Maximize C™*"F_ . -C F > > TAG,

g

CProduct

where is the selling price of the product (e.g., $/Kg)***°*is the cost of the

feedstock (e.g., $/kg) ard®®®"s flowrate of the feedstock.

The foregoing optimization formulation is a nonkmngrogram (NLP) which can be
solved to select the different conversion operaiaterconnect them, and identify the

flows throughout the biorefinery.

A patrticularly useful special case is when thedwihg three conditions apply:

a. The flowrate of each component leaving conversjgerato; is calculated through a

given yield (y, , .) times the flowrate of a limiting component (theexcf the limiting

component is ccgim and its inlet flowrate iE;”C“m ) e,

i g

Foai =Yg eiFiw, Do, Oc, Oi

gici i gicgh
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b. The flowrates of the different chemical spe@stering the conversion operatpiare
related to the flowrate of the limiting componerd & stoichiometric or another form of

required ratio (denoted hy, ;). Hence,

Fr..=u, F" Og, ,Oc, O

g ci gGicl g cgl”‘ i

c. The total annualized co@fACgi,i) of conversion operataj; in layeri is given by a
cost factor @, ;) times the flowrate of the limiting component eirtg the conversion

operator, i.e.

TAG, =y, F"... Og,, O

gl gcimi
d. To synthesize a cost-effective integrated binegy, the optimization objective can be
an economic function. For instance, one may mingntie payback periodPP) of the
process as follows:

Minimize PP
where PP is calculated as:

_ FixedCapitallnvestment
(AnnualSales- Total AnnualizedCost)x (1- Tax Rate) + AnnualDepreciatbn

The total annualized cost (TAC) is the summatiototdl annualized fixedTAFC) and
operating TAOQ costs, as shown in Equation

TAC = TAFC + TAOC
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Meanwhile, TAFCis summation of annualized fixed co8HC,,) in each technology
in each layer; TAOCis summation of annualized operating c@€D(, ;) in each

technologyg in each layer .

The optimization formulation is a nonlinear progréiLP). In some special cases, when
Equations in a,b,c are used, the optimization féatran becomes a linear program (LP)
which can be solved globally to determine the Winegy configuration and the flows
interconnecting the various conversion operatoosilliistrate the proposed approach,

three case studies are solved.

3.4 Case Studies
3.4.1 Case Study 1: Maximum Yield for Production of Gasahe from a Cellulosic
Biomass
In this case study, it is desired to convert 162n&dday of a cellulosic biomass into
gasoline. The objective of the case study is tected technological pathway that will
maximize the gasoline yield based on the idealistise of assuming maximum
theoretical yield for each technology block. Tlisan important scenario when little data
are available about the technologies and therensea to select the promising set of
technologies for further analysis and techno-ecaooassessment. Cellulose was
assumed to be 8,005 and gasoline was taken agHzs. Hydrogen and oxygen were
allowed to be added as needed. Table 3.1 listskéye reactions involved in the

conversion technologies. To limit the complexity thie developed biorefinery, the
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number of conversion-operator layers in this casdysis limited to fouri(< 4). Based

on various technologies that are found in openditee, the CSCO pathway map is
developed as shown in Figure 3.3. The ‘Blank’ ofmes(as shown in Figure 3.3) are
employed in the CSCO representation to allow a datenspecies to go unchanged

through a layer.

The synthesis problem is formulated as a linearggamm and solved using the
optimization software LINGO (version 10). Once &uson is obtained, an integer cut is
added to exclude the solution and to generate enatfie. The procedure is continued
until the value of the objective function dropsdselthe maximum yield obtained in the

first solution.
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Table 3.1Key Reactions for Case Study 1

From Pathway To Reaction
Hydrolysis CsH 12056 CsH1005 +H,O — CgH1506
Anaerobic CH, CsH1005 +H,O— 3CO, + 3CH,y
CeH100s digestion CO,
Gasification CcO eH1005+ O, — 6CO +4H+H,0
Ho
Fermentation Carboxylate 1.5CagoOCsH1005 +H,O —
CO, 1.5(CHCOQO)Ca +1.5C3G+0.5H,0
Anaerobic CH,4 CeH1206 — 3CO, + 3CH,
CsH1206 digestion COo,
Gasification CcoO eH1206+ O, — 6CO +4H+2H,0
H:
Fermentation Carboxylate 1.5CagOCsH 1,06 —
CO, 1.5(CHCOQO)Ca +1.5CG+1.5H,0
CH, Cracking GH4 CH;+ 0.5Q— 0.5 GH4+ HO
CO, Water gas shift (6{0) C4O H,— HO + CO
Carboxylate Thermal Alcohol CH,COOCaCOOCH—-CaCQ+CHjz
conversion COCH;
CH3;COCH; + Hy— CH;CHOHCH;
CcO Synthesis Alcohol CO + 2H>CH;OH
CoHy4 Oligomerization Gasoline 48 ,+H2—CgH 1
Alcohol Dehydration Gasoline 8CHOH+H,—CgH1+8H,0
+ oligermerization
Alcohol Methanol to Olefin CH;OH — CH30CH; + H,0O
olefins process CH30CH;—C;H,4 +HO
CO, Methanation Methane CG®4H, — CH4+2H,0
CH, Steam reforming CO CHH,O — CO+3H,
Ho
CH, Dry reforming CcO C#tCO, — 2CO+2H

Ho
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Five optimal pathways were generated as shown @py34(a-e). All of them provide a
maximum gasoline yield of 85.5 tonne/day. The fimthway (Fig. 3.4a) uses
gasification to produce syngas which is convertedmiethanol then dehydrated and
oligomerized to gasoline. The second pathway enspémaerobic digestion to produce
CH; and CQ. Next, CH,is dry reformed to syngas with the input of theproduced
CO,. Syngas is synthesized into methanol and finallyerted through dehydration and
oligomerization to gasoline. More water is produd¢edhe process than the required
amount in the digestion. Therefore, the producetemia recycled to replace the fresh
water used in digestion. The third pathways staits fermentation in the presence of
calcium carbonate to produce calcium acetate,;G@HD)Ca which is then treated in
thermal conversion to produce acetone {CECH;) and regenerate the calcium
carbonate (see Figure 3.4c). After that, it is bg@énated to isopropyl alcohol
(CH3CHOHCHg). Finally, the alcohol is dehydrated and oligorned to gasoline.
Meanwhile, the C@from fermentation is hydrogenated to CO and waner the CO is
synthesized to methanol (GBIH). Methanol then goes through the same process as
isopropyl alcohol to produce gasoline. In the tbwonfiguration (Fig. 3.4d), cellulose
is hydrolyzed and fermented to ethanojfHigOH) and CQ. Ethanol is oligoermized to
gasoline while CO2 undergoes shift reaction folldwey methanol synthesis and
oligomerization. Finally, in the fifth configuratip CQO, produced from anerobic
digestion is converted to methane through a metlmangrocess with the input of
additional hydrogen. Methane from digestion andhaeation is converted to syngas

through steam reforming then synthesized to meth&maoally methanol goes through
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dehydration and oligomerization to gasoline. Hydmgoroduced in the process is

recycled to the methanation step.

It is interesting to note that these five configima vary widely in their building blocks
and arrangements, yet they provide the same yidls underscores the value of the
proposed approach in generating promising alteresitivithout the need to perform
detailed design. Once these potential candidategemerated, effort is focused to these

alternatives and a detailed analysis is propenigiezhout.

Cellulose
162

H20 H2
18 168 8 16

CH3OH
192

H20 C2H4 H2
108 84 1.5

C Oligomerization )}

A 4

Gasoline
85.5

Air 02
32

Figure. 3.4(a)
Figure 3.4.Five Optimal Pathways for Maximum Yield of GaselifCase Study 2)
(all numbers are in tonne/day)
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Figure. 3.4(c) continued
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Figure. 3.4(e) continued

3.4.2 Case Study 2: Maximum Yield for the Production of Gsoline from Two
Feedstocks with Actual Conversion and Yields

In this case, we increase the level of complexitthe case study by allowing two

biomass feedstocks and by including reported datadnversion and yield. These data

are compiled in Table 3.2. Two types of biomass @ssidered: 30 tonne/day of

sorghum and 70 tonne/day of municipal solid was$sS\(V). Table 3.3 shows the

composition of both feedstocks. Note that the ntaimponents in the given feedstocks
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are cellulose, hemicellulose and lignin. Furthemadhe external supply of hydrogen
was limited to an upper bound of 0.25 tonne/daye Tptimization formulation is

developed with the objective of maximizing the demoyield. The solution was found
to be a maximum gasoline yield of 26.6 tonne/day the identified pathway is shown
by Fig. 3.5. It includes fermentation of cellulosed hemicelluloses and pyrolysis of
lignin. The produced alcohol from fermentation ighgdrated and oligomerized to
gasoline. The pyrolysis products are subjecteddoking, oligomerization, and Fischer-

Tropsch synthesis to produce gasoline.
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Sorghum MSW

30.0

. H20| Cellulose | Hemicellulose Lignin
49.9 27.2 21.2

H2 co Pyoil Methane | Other H2 |
0.16 1.1 7.6 1.9 10.2 0.4
H2 H2
FT synthesis 0.33 recycle
H2 | Alcohol Other Eth;/lgne 29 36 :;9
0.4 37.7 1.0 ; ; ; ;
N\
Dehydration H2
/oligomerization g 0.05

H20
14.7
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26.6

Figure 3.5.Pathway for Gasoline Production from MSW and Somgl{Case Study 2)
(all numbers are in tonne/day)



Table 3.2 @mpilation of Conversion and Yield Data for Case Study 2

. Yield
From Pathway To Con\;/ersmn (Mass Ratio of Desired Reference
0 Product to Key Feed)
Anaerobic digestion Bio-gas 80.0 0.210
9 o) 80.0 0.473 Rivard (1993)
Extraction Sugar
Aiello-Mazzarri et
Carboxylate 30.2 0.180 al. (2005)
i Schmidt and
Hydrolysis/Fermentation Acid 90.0 0.800 Padukone (1997)
Cellulosic Krishnan et
Municipal Alcohol 90.0 0.511 al.(1999)
Solid
Waste CO 99.0 0.500
Gasification Filippis et al.
H> 99.0 0.071 (2004)
Py-oil 99.0 0.522
Bvrolvsis Charcoal 99.0 0.242 Ojolo and
yroly H, 99.0 0.040 Bamgboye (2005)
CO 99.0 0.186
) ) . Minowa et al.
Liguefaction Gasoline 95.0 0.260 (1995)
Bio-gas Cracking CoH, 92.9 0.580 Fincke et al. (2000

vS



Table 3.2 Wntinued

Reid and George

Sugar Fermentation Alcohol 83.0 0.360 (1945)
Acid Fermentation Alcohol 0.900
co Acid 90.0 0.770 Knifton, (1985)
Synthesis 0208
Alcohol 37.5 ' Zhang et al. (2001
F-T Gasoline 90.0 0.203 Dry (1996)
. Acid 90.0 0.108 Knifton (1985)
Synthesis
H, Alcohol 37.5 0.015 Zhang et al. (2001
F-T Gasoline 90.0 0.014 Dry (1996)
Holtzapple, et al.
Carboxylate Thermal conversion Ketone 99.5 0.365 (1%2)9)
Bio-oil Cracking (Hydroprocessing B4 99.0 0.250 Bridgwater (2008)
Gasification Syngas 99.0 0.530
CH, Oligomerization Gasoline 99.0 1.017 Khanmetov et al
' ' (2006)
Acid Decarboxylation Gasoline 60.0 0.252 Sharma and Olson
(1994)
Alcohol Dehydration/Oligomerization  Gasoline 99.0 0.619 Costa etal. (1985)
Bio-gas 0.089
. Bio-oil 0.360
Lo Pyrolysis co 100.0 0050
g Ha 0.020
P H2 0.075 Jangsawan et al.
Gasification co 100.0 0018 (2005)

Gq



Table 3.2 Wntinued

Bio-gas 0.089

. Bio-oil .360

Pyrolysis co 100.0 0050

H, 0.020

. H2 0.072

Hemicellulose Gasification CO 90.0 0.170

Murphy and

Fermentation Alcohol 90.0 0.450 McCarth (2005)
Acid 80.0 0.760 Jin et al. (2005)

Anerobic digestion CH4 80.0 0.180

Enzymic hydrolysis Sugar 90.0 0.830 Adsul et al. (2007)

Table 3.3Composition of Sorghum and MSW (NREL, 2007)

Wt % Sorghum MSW
Cellulose 52
Hemicellulose 26
Lignin 20

99
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3.4.3 Case Study 3: Minimum Payback Period

Other than targeting the maximum biofuel yield &sven in case studies 1 and 2,
including economic objectives may be desired eahough in the development
activities. In this case study, minimum paybackiqeeiis selected as the optimization
objective. The intent is to include key economidicators without getting trapped in an
in-depth economic analysis that will require treoh@ums time and effort for all the
potential candidates. Tables 3.4 and 3.5 show th& data for the processing
technologies and the cost/selling price of theatrd species. A feed flowrate of 1,620
tonne/day of cellulose is used. A ten-year lineaprdciation scheme is used with no
salvage value. The synthesis task is formulated asnlinear programming problem
whose objective is to minimize the payback periodl ahe constraints include the
developed optimization formulation coupled with theta from Tables 3.2, 3.4, and 3.5.
The solution obtained using the optimization sofevalNGO (version 10) is shown by
Fig. 3.6. As shown, the pathway involves hydrayand fermentation of cellulose
followed by dehydration and oligomerization. Theguced gasoline is 511 tonne/day.
The solution has an objective function for a minmpayback period of 8.8 years. It is
worth noting that upon further techno-economic wsial the payback period will be
longer because of the addition of equipment thaehaot been accounted for in the
program. Nonetheless, the intent of this approachoiquickly provide preliminary
synthesis alternatives that warrant additional ymsl It is also worth noting that once
the cost criterion has been included in this casgys the complexity of the synthesized

solution has significantly decreased compared #&ptevious two case studies which
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only focused on yield without cost. This is atttia to the ability of this approach to

exclude pathways or portions of the pathways thihtwt be cost effective even if they

enhance the yield.

Table 3.4 Cost Data for Case Study 3

AOC per daily tonne a AOF*

Technology ($/yr/daily tonne)  ($/yr/daily tonné’)
Combustion 1.00x16 1.00x18
Aerobic Digestion 1.15x16 3.62x10
Anaerobic Digestion 1.34x16 1.97x18
Enzymatic 1.00x16 1.00x16
Acid Hydrolysis 1.00x16 1.00x18
Extraction 1.00x16 1.00x16
Destructive Distillation 1.00x16 1.00x18
Fermentation (to acid) 8.90x1¢ 1.19x106
Fermentation (to carboxylate) 2.06x16 2.14x16
Fermentation (to alcohol) 5.72x1d 1.35x10
Gasification 1.43x16 2.28x10
Pyrolysis 1.04x16 1.88x10
Liquefaction 3.33x10 4.47x16
Methane Cracking 2.43x1¢ 7.27x10
Acid Synthesis 6.73x1d 8.64x10
Alcohol Synthesis 6.73x1d 8.64x1d
Sugar Fermentation 2.86x10 2.69x10
Thermal Conversion 1.17x1¢ 1.92x10
Fisher Tropsch 3.01x10 4.70x10
Pyoil Gasification 8.91x1d 4.46x10
Pyoil Cracking 5.98x1d 4.55x10
Oligomerization 2.16x1d 3.89x10
Decarboxylation 2.85x10 1.65x10
Dehydration 3.57x10 4.37x10

*The AFC is modeled using the following formula: &F a*Flowrate’’



Table 3.5.Costs and Selling Prices for the Species of Case Study 3

Species Price
Cellulose 60 $/tonne
Gasoline 3.1%/gal

Biogas 6.86$/1000SCF

Sugar $765/tonne
Acid $1,496/tonne
H: 4,000%/tonne
Carboxylate $1,100/tonne
Alcohol 3.2%/gal
Pyoil 2%/gal
Charcoal 77%/tonne
CoH4 $1,386/tonne
H.O $1.5/1000gal
CaCQ 65%/tonne
O $210/tonne

6S
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3.5 Conclusions

In this paper, a shortcut method has been intratidoe the conceptual design and
preliminary synthesis of alternative pathways @& fmocess industries with focus on the
applications for biorefineries. The chemical spsfdenversion operator structural
representation has been introduced. It tracks at@rpecies, connects various streams
with processing technologies, and embeds poterbafigurations of interest. An
optimization formulation has been developed to méze the yield or the economic
potential subject to constraints that include psscenodels, distribution of streams and
species over the conversion technologies, interection of the candidate technologies,
and techno-economic data. Three case studies hese $olved to demonstrate the
effectiveness and applicability of the developefdrapch. The case studies covered the
scenarios of maximum theoretical yield, accounfimgactual process vyield, including
more than one feedstock, and incorporating an eonanobjective (payback period),
The solutions of the case study illustrate theitglilf the proposed approach to generate
a wide variety of pathways that achieve the samgetabut vary significantly in their
building blocks and interconnections. The solutidrthe case studies also demonstrate
that by including an economic objective functioratthhe complexity of the devised

pathways is greatly reduced.
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4. AN INTEGRATED APPROACH FOR THE BIOREFINERY PATHWAY
OPTIMIZATION INCLUDING SIMULTANEOUSLY CONVERSION,

RECYCLE AND SEPARATION PROCESSES

4.1 Abstract

Biorefinery is an industrial facility that produceslot of products from biomass, and
nowadays it has gained a lot of attention becauwsenicreasing depletion of fossil fuels
and the environmental problems caused by the uessil fuels. In this regard, biomass
can be considered as a sustainable resource gdvides significant environmental
benefits because the reduction of the greenhouseegassions. While there are
tremendous technologies and pathways concerningdleetion for a biorefinery, this
work presents a systematic approach to determmepgtimum pathway of technologies
to convert biomass into biofuels, combining theessary steps to recover and recycle
intermediate products during the synthesis. A systé mass treatment network and
technology conversion network is presented to moitel problem. Mathematic
formulations are constructed to analyze the opttion network. A case study has been
presented to illustrate the problem for producirgdline from cellulose, and results
show that the optimal pathway corresponds to alcfgrmentation and oligomerized to
gasoline with a minimum payback period of 11.7 gaaith 1620 tonne/day of feedstock;
whereas, when the capacity is increased to 120BRD of gasoline production, the

payback period is reduced to 3.4 years.
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4.2 Introduction and Literature Review

Fossil fuels have been supplying a large sharelabal) energy demand. With the
continuous growth of population and industrial ates, the world's energy
consumption is projected to increase by 49% frorh ¢gQadrillion Btu in 2007 to 739
guadrillion Btu in 2035 (EIA, 2010), while the wdrtrude oil and natural gas reserve
can only last for 50 years (IEA, 2010). The presafrfossil energy supply for meeting
the increasing demand situation prompts the needdaeelop alternative energy
resources including hydro, wind, solar, geothernmahrine energy, and biomass.
Biofuels provide a variety of advantages over getnm-based fuels including: (a) the
biomass feedstock are sustainable and environnheftahdly, (b) biofuels are neutral
in greenhouse gas (GHG) emissions if efficient psses are applied, which can help to
satisfy the Kyoto regulations (Bioenergy, 1998), dowide variety of versatile biomass
can serve as the feedstock and they are easy aag th be accessed, and as a result a
large production of fuels or chemicals could bewst, (d) with the increasing price and
depletion of fossil fuels, the biofuels will showomising economical potential and
supplement the energy supply. There have beencagaise of public awareness towards
biofuels production, and global government investirie biofuels is projected to rise to
45-65$ billion per year from 2010-2035 (IEA, 201B).addition, conventional chemical
companies like Shell, Conoco-Phillips, Dupont, Damd BP between others have been
stepping into the area of developing technologies rocesses for producing biofuels

and bio-chemicals (Huber et al., 2006).
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A biorefinery is a processing facility that cannséorm biomass to fuels, power, and
value added chemicals by integrating conversiohrelogies and processes (NREL,
2005; Ng, 2009). A variety of forms of biomass umihg energy crops, agricultural
wastes, forestry residues and municipal solid veassés serve as the main resources of
feedstock (Bridgwater, 2003). Biomass componenttude lignin, cellulose, proteins,
acids, and various other chemicals (Askew, 2005, the target of a biorefinery is to
obtain the maximum value from the biomass companémiough optimal processes.
Although biomass has been taken as an input teelproducts in extensive applications,
the application of converting it through a compleetroleum like refinery to produce
multiple products is relatively new (Fernando et 2006). There are various routes in
biorefineries, among which biological conversiorhysical conversion and thermal
conversion are the three main paths for produciagehergy. Given the intensive capital
cost in a biorefinery, there is a need to explafier@nt levels of integration to enhance
the performance of a biorefinery, which includesr@asing the energy efficiency,
maximizing overall value of products derived fromedistock, adding flexibility of

products conversion, and reducing the overall cost.

Much research efforts have been involved in chelnpicacess synthesis (Douglas, 1988).
Rudd (1968) pioneered the process synthesis worthen1960s,whereas Westerberg
(1980 and Nishida et al. (1981) later defined the procsghesis as an approach to
determine the optimal structure of the processesysind the optimal process design to

satisfy the specified performance. Extensive wdwkge been conducted in the synthesis



65

area, including separation sequences, reactionvpgt) heat integration, etc. In this
regard, El-Halwagi (1997; 2006) introduced the @&picof mass-exchange networks
(MEN) in the area of mass integration and BagajewWR000) presented a review on

various methods for the wastewater treatment artdriahallocation problem.

There are a few challenges facing the designing syndhesis of multi levels of
integrated biorefineries, these include the compleamical structures and compositions
of biomass (which increases the difficulty of feled& analysis and treatment as well as
regional dependent, and lack of established inftonafor the thermodynamic
properties and reaction kinetics (Ng et al., 2010))is makes many synthesis and
design approaches of conventional chemical prosassecompatible for the synthesis
of integrated biorefineries. In this regard, Kokess al. (2009) discussed the status and
the challenges for the synthesis and integratioa biorefinery, and they proposed a
systematic approach to identify optimal opport@stior biomass-chemical production
and combining with other technologies. Mansoornegdal. (2009) presented a
biorefinery framework in marketing decision aspetifisough integrating supply chain
design with process design. Bridgwater (2003) preesk multiple products and multi-
scale processes in a biorefinery. Sammons et @7(2then presented a framework to
evaluate multiple production routes and producttfpbos based on profitability
optimization. Later, Sammons et al. (2008) extentthedwork by including economic
perspective with other process insights to fat¢ditavaluating an integrated biorefinery

through a mathematic framework to optimize prodakbbcation problems based on
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environmental and economic measures. Later, Tah €009) developed a fuzzy linear
programming integrated with an input-output massrgy balance system to target the
optimum of process units capacities based on ptadetrics and environmental goals.
At the same time, Elms and El-Halwagi (2009) présgéra systematic procedure for
scheduling of biorefineries and biomass resouradscson, the optimization was
performed to design and integrate the biorefindoypg with the consideration of GHG
emissions reduction. In addition, Ng et al. (20p8)posed a hierarchical approach for
the synthesis and integration of biorefineries étedmine promising pathways, where a
sequential screening method was utilized for tamgetpotential technologies by
analyzing thermodynamic feasibility and gross rexerNg et al. (2010) then introduced
an automated optimization method to target the mam biofuel production and
revenue for an integrated biorefinery, this apphoased simple conversion models to
calculate the yield of a biorefinery through a seuto sink mass flow structure.
Although the approach by Ng et al. (2010) is commeinin targeting yield estimates, it
does not consider capital investment and only snitpthnological models could be
applied. Pokoo-Aikins et al. (2010) also preserdethethod to design and guide the
screening of alternative biorefineries based oertgaprocess and economic metrics. In
addition, Tay et al. (2011) used graphical techesqof a carbon—hydrogen—oxygen
(CHO) ternary diagram to synthesize and optimizeth® performance target of an
integrated biorefinery. Bao et al. (2011) then js®d a structural representation and
optimization approach for synthesis and screeniigtegrated biorefineries. Research

efforts have also covered optimal biofuel productamd optimal energy reduction in
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designing alternative biorefinery routes (see Ggsli2005; Alvarado-Morales et al.,
2009). Additionally, detailed techno-economic asaly have been carried out for
biorefineries with thermal cogeneration considersi (Qin et al. 2006; Mohan et al.,
2007; Goyal et al., 2008). Furthermore, design @piiimization alternatives have been
conducted for biodiesel production from a varietyemdstock like soybean oil and algal

oil (Myint and El-Halwagi, 2009; Pokoo-Aikins et a2010).

On the other hand, mass integration techniques haea effectively used in process
optimization by dealing with the material sepanati@llocation and conversion of
species and processes. There are mass integraategges to recycle and reuse process
sources using the pinch analysis method and matieharogramming models (El-
Halwagi, 2006; Pillai and Bandyopadhyay, 2007)etogption systems can be utilized in
the mass synthesis to separate target species grooess streams as a strategy for
material recovery and waste minimization. El-Halwagd Manousiouthakis (1989)
developed an approach for synthesizing mass exehaatyorks (MENS) to transfer
species between a set of rich streams and a tedrobtreams. Later a graphical strategy
for minimizing wastewater was introduced by Wangl &mith (1995). Garrard and
Fraga (1998and Xue et al. (2000) used generic algorithmsrtiegles to synthesize
MENSs. Quesada and Grossmann (1995) presented aexasange networks model and
dealt with the bilinear terms. Dhole et al. (1998¥sented a graphical supply and
demand composite that relates flow rate versuserdration to locate the water pinch

point. El-Halwagi and Spriggs (1998) presented are® sink system to analyze the
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recycling problem. Later, Polley and Polley (20p€)posed an approach to optimize the
recycling conditions coupled with material recovemulticomponent systems of
material recovering and recycling have also beehessed by Benko et al. (2Q00Dunn

et al. (200%; 200Db), Teles et al. (2008and Alvarado-Morales et al. (2009) by using
mathematical programming techniques. Manan et 2004) developed strategies to
target minimum fresh water using a surplus diaget design mass recovery using a
non iterative approach in a wastewater treatmesttilpm. Gomes et al. (2007) proposed
a heuristic approach when dealing with synthesinmags exchange networks, and Ng et
al. (200%; 200d) also addressed the problem to get maximum wageycte by
coupling with regeneration system to meet enviram@aderegulations. In addition,
different approaches for mass integration baseddifierent properties have been
recently reported (see Ponce-Ortega et al., 20020;2Napoles-Rivera et al., 2010;

Grooms, et al., 2005).

Therefore, even that the previous improvementstifieth in the design of integrated
biorefineries, previous methodologies have theofeihg drawbacks: 1) In the previous
methodologies only a few of the existing technolagigrnatives from experiences could
be suggested, and the real optimum process sauti@ybe neglected. 2) They are time
and cost consuming for evaluating each alternatdjeSince they are derived from
experiences and existing knowledge, the applicatioii be limited. 4) The
simultaneously optimization for the technology amdss recovery selection was not

considered. 5) The optimal interconnecting produatel flow rates can not be
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considered. And therefore, 6) No systematic apgrdac the optimal cost-effective
design of an integrated biorefinery that considées optimal selection of conversion,

separation and recycle has been reported.

Therefore, to overcome the drawbacks of the prelyoteported methodologies, this
paper proposes an approach to synthesize an optismanefinery pathway by coupling
conversion techniques with material recycle andeeto provide a generic biorefinery
synthesis approach. To consider the diverse patentof conversion
technologies/feedstocks and alternative combinatminthe pathways in a biorefinery,
there is a strong need to effectively and systerallyi generate optimal alternatives that
meet specified objective of cost effective, pobati preventive and resources
conservative design (e.g., Azapagic, 20CGRhouinard-Dussault et al., 2011). The target
of the model is to find an optimal alternative @drefinery pathway that also considers
the process specifications, design and selectigmanfess separation and recover/recycle
besides the conversion technologies. As a resdystematic approach is developed to
select the optimal biorefinery pathway. The optimalocation of conversion
technologies, recycle design and interconnectiogv frates are determined for the

selected feedstock and products.

4.3 Problem Statement

The problem addressed in this paper is definedlbsifs.
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Given a process with:
1. A set of biomass feedstockEEDSTOCK= {r| r = 1, 2, ..., Neepstocd. Each
feedstock has a given flow rdte and a given compositio®™ ="t .
2. A set of desired primary producRBRODUCTS= {pr| pr = 1, 2, ..., Mrobuct- Each
product requires a flow raté,, and compositiorC"*°% ,; that satisfy the following
constraint:

CERODmIn < CPROD < cPROD™Max ¢ € NCOMP,pr € NPRODUCT

W, = W, pr € NPRODUCT

where CEROD min and cPROP ™max gre given lower and upper bounds on acceptable
component compositiort for products pr, and Wp;"i“ is given lower bounds on
acceptable flow rate for produgis.
3. A set of interception unitdNTERCEPTORS: {u| u = 1, 2,..., Nnitg that can be
used to treat each component composition
4. Available for service is a set of processingh{@sion) technologieSIECH={g| g =

1, 2,..., Necn } with known characteristics of performance (e.gield, unit cost,

composition).

The objective is to synthesize a biorefinery andettgp an optimization method to
determine the following:

1. Minimum cost of the biorefinery pathway incluginthe cost of conversion
technologies, separation and recycling that satiefyprocess requirements.

2. Optimum selection of conversion technologies faedstock.
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3. Optimum pathway of conversion technologies antgss flow rate allocation.

4. Optimum selection and allocation of interceptimits.

The conceptual design procedure proposed in thperp#é intended to screen the
numerous alternatives, to produce an optimal teloigyopathway of the major process

components of the biorefinery, and to perform aitled techno-economic analysis.

4.4 Approach and Mathematical Formulation
The methodology presented in this paper consista isystematic approach and
mathematical formulations (as it shownRigure 4.1). First the systematic approach is

presented and then the mathematical programmimguil@tion is shown.
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Figure 4.1 Proposed Solution Approach.
First, based on the available biomass and desireldpfoducts, targetting is performed

before the optimization steps to evaluate the teastible solution. Then, the information

of all the available technologies and intermedmtaducts is collected for a pathway tree
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construction. After that, the mathematic model ésnfulated to select the optimal
pathway based on certain objectives with necessamgtraints. If the objective is met,
then the solution will be output as the optimalhpaty with the intermediate products
and technologies selected. If the objective ismet, the pathway tree is revised and the
constraints are changed for the mathematical opéitiwin again until the objective is

met.

4.4.1 Systematic Approach

The problem is formulated as a network represemtatind this network is categorized
into conversion (technologies) operator block andtemal separation block. The
analysis is started with the following steps:

1. List the available conversion technologies alaity their performance characteristics
(e.q., yield, unit cost) based on literature sunseyulation, reaction pathways synthesis,
etc. The constraints (inlet components concentratoperation conditions, properties,
etc) for each technology are listed as well.

2. Based on the characteristics of the biomasssteekl, the desired products, and the
conversion technologies, develop a list of the a#atd chemical species that may be
involved in the biorefinery. Let andNSPECIESbe the index and the total number of
the chemical species, respectively. Also, use taoliscandidate compositions that are
used to track the process streams and break tmeabg feedstock into key chemical

species (quantified based on chemical analysis).
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3. Based on the available chemical species andpémrmance characteristics of

products from the available technologies, list plossible units that can be used to treat
each component. Simulation or preliminary calcoladi of separation scheme with some
heuristic rule are carried out first. LBty be the total number of available units. The
performance and inlet conditions of the units ds® ancluded to select the optimum

treatment units. Environmental requirements aresiciemed wherever necessary.

4. After the previous steps are performed, the blazks of conversion operator and

material separation system are interconnected thiéh process streams mixing and
splitting. Then, a network of the synthesized patyws constructed and the

mathematical model is finally formulated to optimithe system.

The outline for the mathematical model is givethea next section.

4.4.2 Outline for the Mathematical Model

The conversion operator-interception-conversionraoe representation proposed in
this paper is shown ikigure 4.2 The diagram is comprised of alternating layers of
conversion technologies followed by the intercaptietwork. There ar&lP layers of
conversion operators and each layer is designajedh® indexi. The conversion
operators in the first layer=1) accept flow rates from feedstock. There l¢eepstock

of feedstock and each feedstock is designated dynttlexr. Each feedstock is allowed
to split to different process convertors. The cotors in the last layeli£NP) are used

to store process streams unchanged into produeptars. There arBpropuctproducts
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and each product is designated by the inatexStreams fed into conversion operajqs

go unchanged into product accepfor with the relation ofgye = pr. Each process
convertorg; can accept multiple streams from the mass tredtragsiem, and the
streams produced from each conversion opegiplis segregated into unknown flow
rates and are allocated to the mass treatmentnsystde treated and recycled. Within
each conversion operator, the streams with specdioponent characteristics can be
converted to streams with new or intermediate §%@nd those intermediate species
can be treated and further converted through déwmologies to finally produce the
desired products. Within the interception netwdhe composition of each stream is
altered if an interception device is used. Aftez g#eparation and purification steps are
carried out, the streams leaving the interceptietwork are allowed to mix and fed to

process convertors in the next layer or recyclegoréwious layers.
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Figure 4.2 Conversion Operator-Interception-Conversion Omgr&epresentation for
Biorefinery Pathway Synthesis.
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The more detailed structure of the mass and prpgesatment system is shown in
Figure 4.3 The mathematical model is based on the configarrathown inFigure 4.3
and it includes mass and material balances at migwints of each process streams,
mass balances at splitting points, and procesparidrmance constraints. It is a source-
sink network integrated with a technology conversgstem. All the process streams
coming from the conversion operators with flow rEff” represent the process sources
for the interception network, and all the procdssasns entering the operators with flow
rateFl-’g represent the sinks for the interception netwd@h. optimum allocation of
operation convertorg); is determined and an optimum flow rate connectingse
convertors is determined. Each source is segregatedractions and allocated to the
interception network. Streams leaving the sepanatetwork are mixed before entering
each sink. The splitting fractions and mixing rataye optimized. In the mass treatment
network, there ar®lUNITStreatment units with indey to refer to each unit, andK;
discretized interceptors to treat each stream. Eadhhas a certain interception extent,
efficiency and cost performance. The optimum irgption for the streams and selection

of treatment units are determined.
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Figure 4.3.Structural Representation of the Mass Treatmehwbhi Integration with
Conversion Operator.
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A blank unit is put in the interception system tmwa a stream that need pass through
the system unchanged. An additional sink is pldoaépresent the waste material. Also,
some external fresh resources can be purchasegptement the use of existing process

streams.

4.4.3 Mathematical Formulation
The foregoing concepts can be conducted in an gtian formulation that involves

the following model.

The performance model (shown kgure 4.4) for conversion operatog; in layer i
(referred to a%; 4,,) relates the flow rates of the different streamteeng and leaving
the conversion operator:

(FOPT, coutteety = my g (F/N, COL ", Dy 4, 05 ), Vi € NLAYERS, g € NTECH, c €

NCOMP  (4.1)

whereFST andF/] are the flow rates of process streams leaving emering the

conversion operatog; in layeri. And CZ¥L*“" and (.} " are the composition for

componentc of process streams leaving and entering the ceioreoperatog,. The

design and operating variablesgofire denoted by; ; and O, , respectively.
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Figure 4.4 Mixing and Splitting Representation Around the @ersion Operator.

The mass balance around the conversion operatorated that the total flow rates
coming out of the operatay; in layeri should not exceed the flow rates fed into the
operatory;:

FoJT < F!], Vi € NLAYERS,g € NTECH (%2
Splitting of fresh sources: Fresh sources can beapl sent to any sink but not to the

waste to satisfy the treatment capabilities. Festtstan be among those fresh sources.

H, = Y ieNLAYERS 2geNTECH hyig, Vr € FRESH,FEEDSTOCK < FRESH

(i,g)*waste

(4.3)

Splitting of process sources: Process sourceéit@sd sent to each treatment unit:
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FOUT = ¥cyigWy, Vi € NLAYERS, g € NTECH (4.4)

Mass balance in the splitting point at the exittio¢ interceptors: The flow rate of
streams leaving the interceptor is equal to themsation of streams sent to the available

sinks and the waste.

YieNLAYERS 2 geNTECH Juig = Wu» YU € NUNITS (4.5)

Mixing of streams entering the sinks: The flow ratgering each sink is equal to the
summation of the streams from the interceptors fladresh sources.

Fil,g = YueNuniTs Ju,i,g T 2rerrEsn hrig, Vi € NLAYERS,g € NTECH (4.6)

The component balance around the mixing point leefiie sinks is given by the
following equation:

IN r~intech __
FIN¢

i fresh .
cig = ZueNuniTs Juig Cout Y™ + ¥ epresn hryig Cor Vi € NLAYERS, g €

NTECH,c € NCOMP (4.7)
Mixing of waste: Streams leaving the network aftevetd to mix into the waste block.

waste = Yy enunits 9u,(i,g)=waste (4.8)

The performance function for thuth interceptor is given by the following relatiomnsh

coutunit — ¢ (cinunit p 0,), Yu € NUNITS,c € NCOMP (4.9)
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Previous relationships state that the compositibeach component in the output
stream from intercepton is the function of the desigh, and operating, factors
(these could be the temperature, pressure, solselection, catalyst, etc.) and the

composition of the stream fed to the unit. Noticat teach unit has specific constraints.

Constraints: A set of constraints for the processvertors is needed for the process

limits and environmental regulations. These incltlteconstraints for the quality of the
products, given in terms of uppex Cc",’l{;“h maxy and lower boundscg'ﬁ,g“hm"") for
the composition of the product.

clylechmin < ginlech < clnlechmax i e NLAYERS, g € NTECH,c € NCOMP

(4.10)

The environmental constraints for the waste geedrare stated in terms of upper
(CENV maxy and lower ¢ENY ™) bounds for the composition as follows:

CENvImn < caste | < CENV A, wC € NCOMP (4.11)

The feedstocks are fed to the technologies initeelayer:

Y gentrch b1y = Hy, Vr € FEEDSTOCK, FEEDSTOCK c FRESH (4.12)

Notice that the indexk refers to the feedstock, which is among the togsh sources.

No streams can enter to the technologies in tiseléiyer other than the feedstock:

Jurg =0, Yu € NUNITS ,g € NTECH (4.13)
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Bounds for the product flow rate: The flow ratespodducts require lower bounds. The
streams entering to the convertors in the lastridif@ are equal to the streams of the
desired products; therefore, the flow rates ofstneams entering to the convertors in the
last layer require the following lower bounds:

Fi¥ gup = W,Mim, Vg € NTECH (4.14)
A particularly useful special case is when the emiation of each componenteaving

the conversion operatgr is calculated through a given yielg.( ;) times the

concentration of a limiting componemg'( ):

CoLreM =y g ¥ Clﬁ,ﬁ“g, Vi € NLAYERS,g € NTECH,c € NCOMP (4.15)

Note that the concentration of all the componersisould be less than or equal to 1.

Y censprcies C L < 1,Vi € NLAYERS, g € NTECH,c € NCOMP (4.16)

The flow rates of the different chemical specieteeng to the conversion operatprare
related to the flow rate of the limiting componei# a stoichiometric or another form of
required ratio (denoted hy.; ;). Hence, the following relationship is includective

model:

CEeh = vy g% C‘ﬁ,ffc’gl, Vi € NLAYERS,g € NTECH,c € NCOMP (4.17)
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The total annualized cost of the conversion opegto layeri is given by a cost factor

(Bi,g) times the flowrate of the limiting component eirtg to the conversion operator:

TACTECH;, = F[} X B4, Vi € NLAYERS, g € NTECH (4.18)

The total annualized cost for the interceptios given by a cost factor() times the
flowrate of the stream entering to the interceptor:

TACUNIT, = wy X a,, Vu € NUNITS (4.19)

The pollutant removal for thath interceptor is given by the following relatiomngh
CoUtunt = (1 —y,) x CiU™t, vy € NUNITS c € NCOMP (4.20)

Wherey, is the efficiency for uniti to remove the pollutants.

Objective function: The objective function consistdo maximize the net annual profit
(PROFIT), constituted by the annual sales of products mihe cost of fresh sources,
minus the cost of the pathway technologies usedotwert the feedstock to products

(TACTECH, 4), minus the cost of selected interceptors to tthat process streams

(TACUNIT,).

max PROFIT = Z iR oroduct X COSTproquct = z H, x COST,

product r€FRESH
— Z z TACTECH; ; — Z TACUNIT,
iENLAYERS geNTECH UENUNITS

(4.21)
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Where,COSTyoquce andCOST,. are the unit cost for the products and fresh sources

respectively.

The cost of technologies is related to the flow rates entering to the convertor and the
type of convertor selecte@,). In addition the cost for the technology selected depends
on the design and operating parameters as follows:

TACTECH; 43 = Q;4(F/y,Di4,0i4), Vi€ NLAYERS,g € NTECH (4.22)
The total cost for technologyin the th layer is a function of the design and operating

factors and the flow rate fed into the conversion technajogy

Previous relationships constitute a mathematical programming problem that could be
linear and the problem can be solved globally to determine the biorefinery configuration
including the flows interconnecting the various conversion operators and the optimum
interceptors for treatment of required properties. If the relationships are not linear and
non convex, appropriate non linear programming solutions methods must be use to get

the optimal solution.

4.4.4 Remarks for the Methodology Presented
» The proposed methodology considers simultaneously the optimal selection of

conversion technology, separation and recycle for the synthesis of a biorefinery.
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* The problem could be formulated as a linear prognarg problem to guarantee the
optimal solution.

* To reduce the cost burden and process compleaigrs$ of technologies are limited
to 3.

* Fresh streams include feedstock and necessarynaktgecies for the technologies
conversion.

* The input stream output from the conversion operate taken as input stream for
the mass treatment system, and output stream fremmiass treatment system are

taken as input for the conversion operator.

4.5 Case Study

The following case study is used to illustrate aggtion of the proposed approach.
There are 3 layers of conversion technologies,thadeedstock is selected as cellulose.
There are 11 technologies to convert biomass imtermediates (se€able 4.1), and
these 11 intermediates can be further processethty products until producing bio-
gasoline. After each technology, there are therséipa units to recover the necessary
products. The separation cost of each unit foredgffit sources is listed ihable 4.1
(information taken from Perry and Green, 1984; Ret&991; Sinnott, 2005; Vatavuk,
1990; Watson, 1999). The unit cost for treating waste is 0.22%/tonne. The data for
yield, conversion, unit costs for each consideesthmology were taken from Bao et al.
(2011). The pathway tree is constructed and theblgno is solved using the

mathematical model shown in the previous sectionguthe Lingo software to get the



87

global optimum solution, where a variety of selecs could be chosen. The solution for
the minimum payback period of the optimal pathwatshvgeparation unit is shown in
Figure 4.5, which corresponds to the pathway with cellulosenfamted to alcohol and
alcohol dehydrated to gasoline with a payback jpeobll.7 year with 1620 tonne/day
of feedstock. In addition, the second best solui®rshown inFigure 4.6 and it
corresponds to the pathway with cellulose fermentedarboxylate and carboxylate
thermal converted to ketone and hydrogenated aiggbrokrized to gasoline with a
payback period of 12 years. It is noteworthy to timenthat when the capacity is
increased to 120,000 BPD of gasoline productioa,phyback period for both previous
solutions are 3.4 years and 4.2 years, respectiVélg information is very important,
because the proposed approach allows to indemigfyptoduction required for a desired

payback period.
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Table 4.1.Separation Cost for Various Streams from Diffei@otirces.

Source stream Technology Separation Removal Cost ($/kg
efficiency recovered)
(%)
Cellulose Anaerobic digestion Methane 10 0.01
separation 60 0.02
95 0.03
Fermentation tq Filter and Liquid| 95 0.03
alcohol separation
Gasification Syngas separation 10 0.003
50 0.006
70 0.012
95 0.023
Fermentation tq Filter & Liquid | 95 0.03
carboxylate separation
Fermentation to acid Filter& Liquid 95 0.03
separation
Pyrolysis Syngas separation 10 0.004
50 0.008
70 0.015
95 0.025
Liguefaction Filter 95 0.02
Lignin Syngas separation 10 0.008
50 0.015
70 0.02
Pyrolysis 95 0.03
Syngas separation 10 0.004
50 0.008
70 0.015
Gasification 95 0.025
Hemicellulose Syngas separation 10 0.008
50 0.015
70 0.02
Pyrolysis 95 0.03
Syngas separation 10 0.005
50 0.01
70 0.016
Gasification 95 0.026
Fermentation tq Filter and Liquid| 95 0.02
alcohol separation
Filter and Liquid| 95 0.015
Fermentation to acid separation
Methane 10 0.01
separation 60 0.02
Anaerobic digestion 95 0.03
Filter and Liquid| 95 0.01

Enzymatic hydrolysis

separation
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Table 4.1.Continued

Ethylene 95 0.02
CH4 Cracking separation
Fermentation tg Liquid separation | 95 0.02
Sugar alcohol
co Synthesis to acid Liquid separation | 95 0.01
Synthesis to alcohol | Liquid separation | 95 0.012
FT Liquid separation | 95 0.01
Ethylene 95 0.02
Pyroil Cracking separation
Syngas separation 10 0.002
50 0.005
70 0.01
gasification 95 0.02
Alcohol Dehydration Liquid separation | 95 0.01

In Figure 4.5 (optimal solution), the pathway starts with hydsa$y of cellulose to
alcohol. After separation of alcohol from génd other byproducts, alcohol and external
H, input is converted by dehydration and oligomeraatinto gasoline. Gasoline is
separated from water byproducts to get the finatlpcts of 511 tonne/day. On the other
hand, inFigure 4.6for the second best solution, the pathway startis the fermentation
of cellulose into carboxylates. After separatingboaylates from water and lignin
residues, the carboxylates are further convertedhlbymal conversion into ketones.
After separation and recovery, Cagi® recovered and recycled back to supply the fresh
feed, and the recovered ketones are hydrogenat#d ewternal H and through
oligomerization and hydrogenation converted intgajjae products. Separation steps
are applied to remove the excess water to getitlaé groduct (i.e., gasoline) with flow

rate of 234 tonne/day.
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4.6 Conclusions

This work presents a new methodology to effectivagyimize a biorefinery technology
pathway integrated with species separation and clecyetworks. The proposed
methodology allows to determine the optimal allawaif the conversion technologies
and the recycle. In addition, the proposed methmglolis able to identify the cost
effective process of conversion technologies coatibns and the optimal

interconnecting flow rates for the selected feedstind desired products.

A case study has been conducted to illustrate tbposed approach, and results show
that the optimal pathway for the gasoline productisom cellulosic materials
corresponds to the alcohol fermentation througlyoohierization with a minimum
payback period of 11.7 years; whereas the pathwagllulose fermented to carboxylate
and carboxylate thermal converted to ketone anddgymhated and oligomerized to
gasoline has a payback period of 12 years for 16808e/day of cellulose feedstock.
When the capacity is increased to 120,000 BPD sblgse production, the payback
period for each case is 3.4 years and 4.2 yeaspectvely. These results allow to
identify optimal pathways and to analyze differso¢narios for the implementation of a
biorefinery. Finally, the proposed methodology pplecable to different cases, and the

systematic approach allows to solve easily a proliteat originally is complicated.



93

5. A SYSTEMATIC TECHNO-ECONOMICAL ANALYSIS FOR THE

SUPERCRITICAL SOLVENT FISCHER TROPSCH SYNTHESIS

5.1 Abstract

Supercritical solvents offer significant economienbfits in the synthesis of biofuels
using the Fischer-Tropsch synthesis technology. direent study is focused on the
methods to efficiently recycle the supercriticallvent from the Fischer-Tropsch
synthesis products (referred to as light hydrocasbeyncrude and water) while taking
advantage of the high pressure operation in thetoed®ed of the supercritical solvent
Fischer-Tropsch synthesis. In addition, the stuglpaimed at ensuring the recovery of
middle distillates product as well (jet fuel anceffdractions of the syncrude). Several
parameters were investigated and optimized in phecess, including the separation
sequence and the heat duty (energy consumptiotijecseparation units. Results show
that from the proposed separation configuratioa,dblvent is recovered 99% from the
FT products, while not affecting the heavier congrus recovered and light gas
recovery, and 99% of wastewater is recycled. Trse ¢hat uses super critical fluids in
the Fischer-Tropsch process is competitive withttaditional FT case with a similar
ROI of 0.26 year. The proposed process has comleanadjor parts cost with typical
gas to liquid process and the capital investmentB8D is within the range of existing
gas to liquid plant. In addition, several scenahase been analyzed to show potential

configurations comparable with the optimal onetfa FT process.
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5.2 Introduction

Fischer-Tropsch (FT) reaction has been studiediawestigated for nearly a century,

and it is basically described as converting synshgas into value added chemicals and
fuel products. The rapid increasing interest o teichnology comes from the notice
that natural gas (GTL: gas to liquid), coals (CThal to liquid), biomass (BTL: biomass

to liquid) and other types of wide available res®sr can be utilized to produce high
value fuels (Alden, 1946; Schulz, 1999). The prdaslie of large range from methane
to wax, and types from branched compounds to oxatgsn The diesel produced from
FT has quality of high cetane number and no suldss CO, NQand particles resulting

in an environmental friendly fuel.

The application of supercritical fluids in the Fsc-Tropsch synthesis (SCF-FTS) is
aimed mainly at low temperature (LTFT) reactor €Esl et al., 1990; Fox and Tam,
1995). LTFT bases the main target to produce Idrains wax and diesel, by utilizing
the catalyst type of either precipitated iron opparted cobalt (Anderson,1956), and
reactor choice between fixed bed or slurry rea@@adwell and van Vuuren, 1986). In
high temperature Fischer-Tropsch (HTFT) there idigid phase outside the catalyst
particles, which is the major difference from th&HAI (Steynberg and Dry, 2004).
HTFT usually utilizes a fused iron catalyst withuiflized bed reactor to produce

syncrude including light olefins and gasoline ($iegrg et al., 1999).
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The first type of LTFT reactor is the fixed bed cta. It is worth noting that the FT
reaction is highly exothermic; therefore, a largeniber of tubes is required to remove
the heat released from the reactor and this biimglse problem of poor economies for
scaling up. In addition, the non uniformity in ttemperature profile resulting from the
tubes needs increases the catalyst loading rate.dBsign also results in high pressure
drop, and thus high compression costs (El-Bashialgt2010). To avoid previous
problems, Sasol developed a slurry bed FT reatiar ases a fluid media (i.e., wax
produced from the reaction) to operate the reamsoa continuous stirred tank reactor
(CSTR) to keep a uniform temperature profile thtoaug the reactor (Jager and
Espinoza, 1995). Therefore, the catalyst actistkept high under uniform temperature
and a good products selectivity is achieved. Initamd this design brings low
compression cost. However, the difficulty in separaof the solid catalyst from the

liquid products remains as a problem in this typeeactors (El-Bashir et al., 2010).

Therefore, there is urgent desire to combine thekcity of fixed bed reactor and take
advantage of slurry reactor to improve the FT lieagpberformance. SCF-FTS provides
the platform for this concern, as supercriticalidllhas the advantage of gas like
diffusivity and liquid like solubility. Operating FS under supercritical fluid (SCF)

conditions improves the catalyst selectivity antivaty. In addition, SCF can provide

benefits as provide high solubility in extractingalwy hydrocarbons from the catalyst
and excellent heat transfer performance for thectoea Furthermore, the superior

diffusivity feature eliminates the molecule trangplamitations and enhances high
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olefin selectivity for products (Jacobs et al., 200 okota et al., 1990; Bochniak and

Subramaniam, 1998; Durham et al., 2008).

One of the first works in SCF-FTS was undertakenYlokota and Fujimoto (1989),
where they evaluated the products, solvent andtioma@erformances of the FTS
reaction under supercritical phase, under gas addrdiquid phases, and compared the
results among these conditions in fixed bed reaamdrsuggested encouraging future for
SCF-FT. Yokota et al. (1990) and Fan et al. (1988p conducted research on the
catalyst characteristics, hydrocarbon selectivityl aeaction performance under the
effect of solvent in SCF-FT analysis. Bochniak &ubramaniam (1998) took a study
for SCF-FTS process and investigated different qunes conditions for the reaction
performance and compared their influence on thalysit Huang and Roberts (2003)
carried out a series of experiments using differeatalysts and identified several
benefits for the SCF-FTS reaction with cobalt gatlal EI-Bashir and Roberts (2005)
conducted SCF-FTS reaction research using cob#dtlysa and found out that the
standard Anderson-Shutlz-Flory (ASF) model does apply in near-critical and
supercritical conditions. Recently, El-Bashir et @009) reported a solvent recovery
model under SCF conditions and proposed a designthi® optimization of SCF

separation processes as part of FT reactor design.

Previous researches provide a good perspectivh&FT reactor. However, previous

researches did not consider the large cost andygm@easociated with using supercritical
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fluid operation, and did not notice the design @baration solvent from liquid products
from process optimization view. Proper selectiorseparation conditions plays a vital
role in obtaining desirable performance. Thereftis, paper proposes a new design for
the separation process of supercritical solventfr@action mixture optimizing the
pressure drop and the temperature to separategtiidhl/drocarbons fractions as well as
the permanent gases (syngas and,)(J@m reaction mixture coupled with Radfrac
distillation to improve the separation efficien@uccess in utilizing pressure drop in the
separation processes for supercritical phase FU&l cepresent a major advantage for
this process over conventional FTS technologiesesinhas always been challenged by
the high price needed for the compression progessldition to other costs associated
for high pressure equipments. Therefore, this papefocused on the design of
separation sequences of the supercritical solvenwell as the rest of the process by
utilizing the energy from the potential of maniguig the high pressure and temperature
profile from the FTS reaction, in order to evaluéite potential of SCF-FT to beat

traditional FT design.

5.3 Problem Statement

The focus of this paper is to investigate the emst energy analysis of the gas to liquid
(GTL) process with supercritical fluids in FTS, atadevaluate the potential to compete
with the non supercritical FT process. The maincess differences between the two
types are the products distribution range, the tozaoperation, and the SCF

incorporation and recovery. Therefore, the papetudoon the step to recover
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supercritical solvent to reduce cost and obtairtasogble operations. To recover the
solvent from the SCF-FT products, there are sevel@hents to consider: products
purity, products yield, solvent purity, solvent ogerability, energy cost, and operation

feasibility.

The objective of this work is to minimize the presecost and energy consumption,
while maintaining no less than 95% of solvent rexability, with consideration for

constraints of hydrocarbon products recoverab#ityl purity, and ease of operation.
Also, the work is aimed at taking advantage ofhilgd pressure operation in the reactor

and comparing the process cost of the SCF-FT andS@i--FT.

5.4 Proposed Approach
This paper proposed a systematic approach to d#laltlhe addressed problem. The

approach is conducted in two main steps and treglsl@ire shown in Figure 5.1.
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Figure 5.1.Proposed Approach for the SCF-FT Solvent RecoVehnology.

In the first step, the approach starts with forminadesign and operating variables prior
to selection of the optimum separation design.tllyirsa preliminary flowsheet is
established, and separation design specificatioesanalyzed and searched from the

literature with the basis of the input oil-solvenixture characteristics. They are then
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synthesized and sent to simulation software to generate the mass and heat balance for
later steps. Alternative scenarios are generated based on the performance condition of
the process (arrangement of the sequence of separation units, selection of the units and
the operating conditions of the units). Then, energy integration is performed to target the
minimum energy cost for each scenario and an economic analysis is conducted for each
synthesized process. A certain objective metric is generated based on either cost
optimization, material conservation or environmental efficiency, and it is used to
compare the process performance of each scenario. Certain constraints are also given
including recoverability, composition requirement, etc to assist the optimization step.
After that, if the objective is met, the data are used for experimental validation and
economic evaluation; otherwise, the input data is adjusted and refined, and the previous

steps are went through again until qualified optimum design alternatives are generated.

The second step is to compare the potential of the generated process with the process
without SCF utilization. The comparison is based on certain metric of cost, energy
efficiency or products yield. The first step of SCF separation process design could be

embed in this step.

5.5 Generic Mathematic Formulation for the Separation Design Selection
This section presents the generic mathematic formulation for the selection of the optimal
separation designkigure 5.2 shows the schematic representation of the addressed

problem. Given a series of scenarlo®f different separation design processes, it is
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desired to select the optimum casthat has the maximum return of investmeRO().
In each cask there is a sequence of unjt® choose from, and there are feedstocks and
external input streamRawFlow(i) and output and products streaRtedFlow(i). Some

output streams including solvents and water coaeldeioycled back as input streams.

Process Unit
Selection System

_ Case K
RawFlow (k,i) ProdFlow(k,i)
- » i >
-] -

Recycle

Figure 5.2.Mathematic Formulation for the Optimum Separaf@signing.

The objective is to maximize the return of invest@OI):
Objective Function = MAX ROI (return of investment)
(5.1)
And the return of investment is the annual net iprdivided by the total capital

investment TCI):

ROI =

Annual net profit (5 2)
TCI(Total capital investment) )

The total capital investment is the summation efworking capital investment and the

fixed capital investmenHCl):
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TCI = working capital investment + FCI (Fixed capital investment)
(5.3)
The annual net profit is equal to the annual saleusthe annual operating cost, the
annualized fixed cost and the tax:
Annual net profit =
(Annual sale — Annual operating cost — Annualized fixed cost) X (1 — tax) +
Annualized fixed cost (5.4)
The annualized fixed cost is equal to the fixeditehpnvestment minus the salvage

value over the life period:

FClI-salvage value

Annualized fixed cost = (5.5)

life period
Because only one ca&ecould be selected as the optimal one, the follgvdisjunction
is used to account for the economic aspects.

Ey
Annual sale = Z Z Price. X ProdFlowy; X Fracy,

i ¢

Vv
k € NCASE AOC = Z Z Price, X RawFlowy ; X Frack,l-,cl. + OperCost,
l' .

Ci

FCI = ZFixCostk,j X Br,j
j

Therefore, if the cask is selected, then the binary variallgis 1 and the associated
economic parameters for that technoldggpply; otherwise, when the technologys

not selectedky is 0 and the associated economic parameters cappbt.
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The annual sale is the summation of all the praltiotv rate ProdFlow,, ;) multiplied

by the products fractionftacy; .,) multiplied by the price of that componengPrice;).

FCI is the summation of all fixed costs of each gmiultiplied by the size coefficieng.
The annual operating cosiferCost) is the summation of the feedstock cost and other
operating costs (utility, labor, maintenance, efthle feedstock cost is the summation of
the entire feedstock flow rateRg¢wFlow, ;) multiplied by the fractiorFracy; ., and

multiplied by the price of the componenPrice).

To model previous disjunction, the following setaddebraic relationships are used.

Only one case& is selected as optimum:

YrEr =1 (5.6)

To find the best possible solution, the above fdation could be solved as follows:
Annual sale < ¥,; ¥, Price; X ProdFlowy; X Fracy., + M X (1 —E, ), vk
(5.7)
Annual sale = ¥,; ¥, Price; X ProdFlowy; X Fracy;., — M X (1 —E, ), vk
(5.8)
Annual operating cost < ¥; Y., Price. X RawFlowy; X Fracy,; ., + OperCost; +
M x(1-E ), Vk

(5.9)
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Annual operating cost = Y; Y., Price. X RawFlow,; X Fracy,; ., + OperCost; —

Mx(1-E, ) Vk

(5.10)
FCI < ¥ FixCosty; X By j+ M x (1 —E, ), Yk (5.11)
FCI = ¥ FixCosty; X B — M x (1—E; ), Vk (5.12)

In previous relationships, when the binary variablés equal to one, the relationships
apply properly; on the other hand, when the binaagiable Ex is equal to zero, the

relationships are relaxed because of the big Mrpatar.

In the same way, when the technology is selectedd appropriate relationships for the
mass, component and feasibility constraints apfliis is modeled through the

following disjunction:

E
z RawFlowy; = Z ProdFlowy ;
i i

v Z RawFlow, ; X Fracy; =Z ProdFlowy; X Fracy ., Yc
k € NCASE : ki k,ic i k,i ki

Fracy;., = MinFracy;, Vi, Vc;
ProdFlow, ; = MinProdFlowy;, Vi

The overall mass balance of the process for easdkahould be equal.
i RawFlowy; <3 ProdFlow,; + M X (1 —E, ), Vk (5.13)

Y.i RawFlowy ; = ¥.; ProdFlow; ; — M X (1 —E, ), Vk (5.14)
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The component balanceof the process for each cdsshould be equal.
Y RawFlowy; X Fracy,;. <Y; ProdFlow,; X Fracy;. + M x (1 —E; ), Vk,Vc
(5.15)
i RawFlowy; X Fracy ;. = }; ProdFlowy; X Fracy ;. — M X (1 —E, ), Vk,Vc
(5.16)
Some of the output streams should satisfy that the component purity be greater than a
constraint.
Fracy;c, = MinFracy; —M X (1 —E, ), Vk,Vi,Vc; (5.17)
Some of the output streams must satisfy that the flow rate must be greater than a certain
constraint.

ProdFlowy; = MinProdFlow,; — M X (1 —E, ), Yk, Vi (5.18)

The model presented is general, and it must be adjusted to the specific case analyzed.

5.6 Case Study and Results

This section presents a case study for analyzing the implementation of SCT-FTS process
considering the systematic approach proposed in this paper. Several scenarios are
considered and these are discussed in detail and compared each other in the following

sections.



106

5.6.1 Preliminary Flowsheet Result

Pentane and hexane’s critical properties could qualify as candidate for SCF, since LTFT
typically operates at ranges of 220 to 250 °C, in addition, they are inert with cobalt and
iron catalyst and show high solubility for other hydrocarbons; hence, in this work
solvent of G-C; is selected. As indicated previously, the FTS products are composed of
a variety of hydrocarbon products, gases {@@d unreacted CO and;)Hand liquids
(water) whereby the hydrocarbons consist of components from light gases of cetane
number approximately 1 up to heavy hydrocarbons with cetane number larger than 30.
In a conventional separation setup, these products are normally separated in three
fraction: (i) permanent gases with light key CQ, H,O, G-C,, (ii) Light hydrocarbons

(e.g. G-Cg), and (iii) Middle and heavy distillates ofCcomponents.
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The FTS products distribution is calculated acamydio the Anderson-Shutlz-Flory
(ASF) equation (Steynberg and Dry, 2004) followitlte procedure explained in
Bartholomew and Farrauto (2006) for Shell’'s Middastillate Synthesis (SMDS)
reactor technology. The chain growth or propagapisbability @-value) is set as 0.96,
and the H conversion is set as 73% with syngas feed mole edtH,/CO = 2.15. To
reduce the complexity, hydrocarbons with cetane bmmbigger than 30 are all
represented as 362 components. The simulated process capacity isnassuo be
120,000 BPD, compared to Sasol setup of approxlgn&8é&000 BPD (Espinoza et al,
1999). The solvent for the SCF- FTS is simulateC&€; and this is co-fed with the
syngas into the FTS reactor at molar ratio of 3He products from the FTS reactor are
obtained from a reaction conditions of 45 bar ad@ ZC over cobalt-based catalyst.
Feedstock and products representation at a typighthe aforementioned conditions for

a GTL process are listed Trables 5.1aand 51b.



Table 5.1a. Mass Balance for a Typical GTL Process.

Syngas FT
Mass Flow NG Makeup 0, Condense| Syngas ra.tio CO, . H, stream | output
(kg/hr) water water output adjust | sequestration| production | cobalt
input 230
H.O - 712,800 - 657,763 657,76 - - - 780,855
METHANE | 1,199,785 - - - 7,212 7,212 - - 8,184
NITROGEN 1,764 - 6,360 - 8,123 8,123 - - 8,123
OXYGEN - - 1,445,640 - - - - - -
ETHANE 92,024 - - - 92,024 92,024 - - 93,890
PROPANE 1,039 - - - 1,039 1,039 - - 3,725
CO - - - - 1,547,828 1,547,828 - - 333,171
COo, 20,020 - - - 859,581 - 859,581 - -
H> - - - - 305,859 | 237,702 - 68,157 64,18
Cs - - - - - - - - 3,439
Cs - - - - - - - - 4,127
Ce - - - - - - - - 4,754
C; - - - - - - - - 5,324
Cs - - - - - - - - 5,842
Co - - - - - - - - 6,309
C1o - - - - - - - - 6,730
C11 - - - - - - - - 7,106
C12 - - - - - - - - 7,442
Ci13 - - - - - - - - 7,740
Cia - - - - - - - - 8,002

30T



Table 5.1a.Continued

Cis - - - - - - - 8,231
Cis - - - - - - - 8,428
Ci7 - - - - - - - 8,597
Cis - - - - - - - 8,738
Cio - - - - - - - 8,855
Ca0 - - - - - - - 8,948
C1 - - - - - - - 9,020
C2 - - - - - - - 9,071
Co3 - - - - - - - 9,104
Cos - - - - - - - 9,120
Cos - - - - - - - 9,120
Co6 - - - - - - - 9,105
Co7 - - - - - - - 9,077
Cos - - - - - - - 9,037
Coo - - - - - - - 8,985
Cao+ - - - - - - - 401,555
Total | 1,314,631 712,800 1,452,000 657,763 3,479431 1,893,929 859,581 8,157 1,893,936




Table 5.1b.Mass Balance for a GTL Process with Supercritical Conditions.

Mass Flow NG Makeup 0, condense| syngas sg/ar;igz)as CO, . H, stream SCET
(kg/hr) water water output adjust | sequestration| production
input
H,O - 712,800 - 657,763 657,76 - - - 855,728
METHANE | 1,199,785 - - - 7,212 7,212 - - 7,212
NITROGEN 1,764 - 6,360 - 8,123 8,123 - - 8,123
OXYGEN - - 1,445,640 - - - - - -
ETHANE 92,024 - - - 92,024 92,024 - - 92,024
PROPANE 1,039 - - - 1,039 1,039 - - 1,039
CcCO - - - - 1,547,828 1,547,828 - - 216,696
CO, 20,020 - - - 859,581 - 859,581 - -
H, - - - - 305,859 | 237,702 - 68,157 47,54
Cs - - - - - - - - -
Cs - - - - - - - - -
Ce - - - - - - - - 115,194
c; - - - - - - - - 86,124
Cg - - - - - - - - 71,164
Co - - - - - - - - 62,330
C1o - - - - - - - - 53,463
C11 - - - - - - - - 43,606
C12 - - - - - - - - 36,480
Ci13 - - - - - - - - 31,426
Cis - - - - - - - - 25,829

ITT



Table 5.1b.Continued

Cis - - - - - - 24,893
Cis - - - - - - 22,793
C17 - - - - - - 18,071
Cis - - - - - - 15,395
Cio - - - - - - 14,470
C20 - - - - - - 11,794
Co1 - - - - - - 10,368
C22 - - - - - - 7,496
Co3 - - - - - - 5,810
Co4 - - - - - - 4,950
Cs - - - - - - 3,971
C2e - - - - - - -

Co7 - - - . - - -

Cas - - - - - - -

Coo - - - . - - -
Cao+ - - - - - - -

Total 1,314,631 712,800 1,452,000 657,763 3,479,431 1,893,929 859,381 68|157 1,893,988

ITT
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The flowsheet and mass balance of the two procdssége compared are shown in
Figures 5.3a(typical) and 53b (SCF). The process is composed mainly of autotherma
reactor (ATR) to convert natural gas (NG) into éasis gas, FT reactor to produce
syncrude from synthesis gas, and the upgrading.uhitere are units of air separation
(ASU) to generate Ofrom air, units to separate GQvater and other components from
the output gas from ATR, and units to produce fidm synthesis gas to adjust the
syngas ratio before feed in the FT reactor. Indingercritical solvent FT process, there
are additional separation units to feed fresh stlve supercritical condition, separate
solvent from liquid products, and separate othevdpcts components for further
upgrading. This step is to ensure that: the freghracycled solvent are properly mixed,
the temperature and pressure are controlled fagasyand solvent mixture before feed to
the reactor bed, the separation columns are aftiareseparating solvent from synthesis
gas, light components, and middle distillates, pinessure drop from the products is

utilized for energy concern.
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The simulation of the solvent/product separatiosufrigures 5.4 has been conducted

in Aspen 2006 Plus utilizing the NRTL-RK propertyethod to evaluate the separation

result based on the phase behavior of the produxt Adkanes are used to model

hydrocarbons from (3o Gy in this work since they are the major productsnfithe FTS

over the cobalt-based catalyst. The separations @anée distillation based, where the

flash column modules play a major role in light lpchrbons and solvent recovery. The

RadFrac distillation 1 is simulated with 30 stagedial-vapor RadFrac distillate column

with reflux ratio of 2, feed on the first stage ahe side draw extracted from the stage

15, the condenser pressure is of 10 bar with aespagssure drop of 0.1 bar. The

flowsheet of the separation process is describ&agure 5.4

Pressure and
temperature
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supercritical
condition

FT reactor

recycle

Fresh feed
<« e
solvent)

Permenant Permenant

Gas1 Gas 2

Flash
column1

FT
products

d
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»
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Solvent 2
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»

Radfrac Water
Distillation 2
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»
Distillation 3
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" Distillation 1

Heavy

products
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A

Figure 5.4.Flowsheet for Supercritical Solvent Separationcess.

The products from FTS (typical outlet productsiué £TS reactor bed) (Elbashir et al.,

2009) are represented in stream FT Products wheretitlet tailgas recycle streams are
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represented in the stream Permenant Gasl and Rert@as2, and the outlet solvent
streams are represented by SOLVENT1 and SOLVENI& middle distillate and the
heavy hydrocarbons (i.e.gQ are represented by HEAVY stream while the watelebut
stream is represented by stream water. The sempanatocess starts in the block flash
columnl, 2 and 3, where lighter components ar@lhjitseparated from heavier ones to
reduce large capacity for later separation. Thersgstep in the separation process is
the recovery of middle distillate hydrocarbons iadRac Distillation 1. The remaining
lighter fractions from the former steps are serfR&amlfrac Distillation 2 and 3. A portion
of Permenant gas could be recovered by a FlashRakéac Distillation 3 will recover
most of the solvent in the bottom of the columneTiemaining vapor streams are
separated in the coalesce to obtain the remairenggnant gas, solvent and water. The
separated water is cleaned and reused to purity) gfpm to 1000 ppm as indicated in
the patent 7147775. The recovered solvent coulden¢ back to be mixed with fresh
solvent and feed into the FT reactor. The flow &teolvent (G-C;) is averaged among

each component.

The heat duty released or consumed by the flagitlatisn unit has been accounted for
based on both temperature and pressure factorh@gnsabove. The SCS-FTS is
normally operated at elevated pressure to accomt@dba single phase operation for
the reaction mixture as required by this process. @bjective from this analysis is to
take advantage of the high pressure operation andtilize energy input (for the

compression) in the separation process by utilizofgase split in pressure drop.
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According to our simulation, as pressure and temperature are dropped, products are
separated and energy could be utilized. Our effort in this study is focused on finding
optimum separation conditions whereby maximum heat release is obtained coupled with
high recoverability of the supercritical solvents and other products. The feed stream of
products from the FT reactor for a solvent- oil syngas ration of 3:1is shown contains by

8% of pergas, 85 % of solvent, 1% of heavier (C8+) and 7% of water.

The condenser/separator system is used for the water/oil product separation after the FT
reactor from patent search of Syntroleum, that condenser/separator is dependent upon
various factors such as overall operating condition, quality and quantity of water
produced by associated Fischer-Tropsch process and quantity and type of contaminants
contained in the natural gas feed stream supplied to autothermal reformer (John, 2004).
One VSEP unit of nano-filtration membranes can be undertaken at pressure of 250 psig
to separate in industrial scale the water from syncrude with the resulting water purity of
16 ppm. Since the water/oil emulsion happen when less than 26% water present in the
system (Hon et al., 2001); therefore, it is desired to separate part of the solvent first and
then use a condenser and a decanter to separate the rest of the mixture of water and

solvent.

5.6.2 Results and Analysis of Aeparation Acenario Optimization
There is a variety of alternatives that could be used to optimize the design of the

separation supercritical solvent from the FT products. In this case, 5 alternatives are used:
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the abovementioned procedsgure 5.4), the process with optimization of the heavy
components recoveryFigure 5.59, the process with the design of flash columns
sequenceRigure 5.5b), the adding of condenser after column 4 to insegzergas purity
(Figure 5.59, and the replacement of Radfrac column with flaslumn in separating
solvent Figure 5.5d). These alternatives are designed and simulatdédeispen Plus
software. The mass and energy balance are prodiaedhese alternatives. The
methodologies presented in the approach sectiorused to analyze and select the
optimum separation design. The design of eachnatie process is described in the

following section.
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Figure 5.5d The Replacement of the Radfrac Column with tlesiFIColumn in
Separating Solvent.

For the separation of the heavy fractions part, Raelfrac column 1 is operated at

condenser pressure of 5 bar with 0.1 bar of stagespre drop. The total number of

stages is 30. The recoverability is increased adtitom rate increases. The sensitivity

of the reboiler duty and the recoverability of theavy (G-Csp+) cOmponents versus the

feed stage are analyzdéiqures 5.6aand 56b) to determine the optimal feed stage. It is

intended to reduce the external energy cost ang kegh recoverability of heavy

components. Ifrigure 5.6athe reboiler duty of 2.24E+09 Btu/hr is shown lzes lbwest

value at some feed stages.Higure 5.6bthe recoverability of heavy components starts

to drop after the stage 25. The other componenpositions are not affected. This way,

the combination of the two figures gives the optifead in stage at 5.
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Figure 5.6a.Sensitivity Analysis of Reboiler Duty Versus Fegtdge in Radfrac
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The analysis of the reboiler duty versus the cosdeduty with the above condition is
then conducted to determine the optimal condens&y dith the same objective in
Figures 5.7aand 57b. In Figure 5.7athe reboiler duty is reduced as the condenser duty
drops below 1.8E+09 Btu/hr. Figure 5.7bthe recoverability significantly drops below
the condenser duty of 0.5E+09 Btu/hr. This way,dioss point of the two figures gives
the optimal condenser duty at 0.5E+09 Btu/hr. Timeiocomponents composition is not

affected. Both lower condenser duty and reboil¢y deduce the energy cost.
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Figure 5.7a.Reboiler Duty Versus Condenser Duty.
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Figure 5.7b.Recoverability of Heavy (£Cs30+) Components Versus Condenser Duty.

The total number of stages is then optimized taucedhe cost of the Radfrac column

with the above conditions iRigures 5.8aand 58b. In Figure 5.8 the reboiler duty is

reduced as the number of stages reduce&idare 5.8b the recoverability is greatly

affected as the number of stages is below of 2@ difner components composition

starts to be affected below the stage number 28cefbre, the optimal stage numbers is

chosen as 20.
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The product streams from the FT reactor could Iparseéed with flash columns first to
reduce the capacity of the stream and to reducegbeation burden and cost burden of
later steps. The separation could be conducted kmppthg the pressure and
temperatures of the columns. The sequence of thenos could be operated in two
ways shown inFigures 5.9aand 5.9. In Figure 5.93 it is primarily to drop the
pressures of the columns andRigure 5.9bit is primarily to drop the temperatures of

the columns.

]
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Figure 5.9a.Combination of the Flash Columns with Dropping$Rrees.
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Figure 5.9b. Combination of Flash Columns with Dropping Temperes.

The combination of the operating conditions of tiivee columns is shown ifable 5.2
Condition 1 and 2 are standing for the conditiorFigures 5.9 and other conditions

stand forFigure 5.9a



Table 5.2.The Conditions of the Three Columns.

Column 1 Column 2 Column 3
P P
T
( ( (
N T b T b
Condition ° | P (bar)
(°C) al (°C) a
C
r r )
) )
1 220 45 200 45 180 45
2 230 45 220 45 210 45
3 200 45 200 40 200 35
4 200 45 200 40 200 30
5 200 45 200 35 200 30
6 200 45 200 35 200 25
7 220 45 220 35 220 30
8 210 45 210 35 210 30
9 190 45 190 35 190 30
10 180 45 180 35 180 30
11 190 45 190 35 190 25
12 180 45 180 35 180 25
13 180 45 180 30 180 20
14 160 45 160 30 160 15

127

The analysis result is shown Figures 5.10aand 510b. Condition 1 and 2 from

Figures 5.9bare not the optimum choices because the recoWiergdate is high, which

increases the later steps cost. The choices amsddmon the combination Figure 5.9a

The requirements should be high for heavy companeatoverability and low for

recovered flow rate. This way, the results in the figures give the choices in condition

4,5, 11, and 13; and in this work, condition bised for later steps.
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From this analysis, the molar recoverability of \weaomponents increases from 98.8%
to 99.2% and it does not influence the recoverihgtioer components. At the same time,

external utility and column cost are reduced.

The part of recovering light fractions processaaducted in the following. The Radfrac
column 2 is replaced with a flash column to analymeeffect. The result of simulation
shows that the recovered pergas and solvent stragmot affected greatly, while at the
same time the energy cost of the flash column reslwignificantly. Then, the flash
column 4 is added with a condenser after it togase the purity and recovery of the
pergas stream. The simulation result shows thabvleeall recovery of pergas increases
from 98.9% to 99.2% and the solvent recoverabilitgreases from 97.4% to 99.9%

while the external energy consumption reduces.

An economic analysis was carried out with the safevAspen Icarus and the results are
shown inTable 5.3 notice that the fixed cost is composed of diud indirect cost
based on all the equipment cost in the process thensimulation result. The case with
Radfrac column installed has the highest cost,thadase with heavy column adjusted
has the lowest fixed cost. The heat balance of eaemario is identified and heat
integration is carried out and optimized using Huétware Lingo to yield a heating
utility cost of 3$/MMBtu and cooling utility costf ®@$/MMBtu. The main results for the

heat integration are shown ifable 5.4 notice that the case with heavy component
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separation optimized is the one with the minimuity costs, whereas the case with

the radfrac column is the one with the highesttytiosts.

The mass balance of the separation result for saehario is identified and then the
mass integration is carried out. For the processm@umic analysis, the following unit
costs were used, syngas $13/GJ, hexane $1.15igsél $82/bbl, gasoline $63/bbl,H
$2/kg, HO $1.2x10%gal, tailgas $50/bbl. The cost analysis is showfadble 5.5 The
result shows that the case with heavy column op@dhihas the highest return of
investment. While the case with the condenser atbdsdhe highest recoverability and
purity, and the case with the flash sequence opéthhas the highest sale of production.
The case with the Radfrac column replaced has fgaest energy saved. This
information is very useful, because this allowghe designer to choose the best case

dependent on the objective of the design.



Table 5.3. Fixed Cost (US$) for Different Scenarios Analyzed.

Unit with condenser with no condenser replace radfra | flash sequence heavy column

flash columnl 30,844,719 30,844,719 30,844,719 34,732,760 30,844,719

flash column2 29,623,455 29,623,455 29,623,455 3,948,988 29,623,455

flash column3 22,368,446 22,368,446 22,368,446 1,701,861 22,368,446

flash column4 844,882 844,882 844,882 844,882 844,882

radfrac 483,388,081 483,388,081 483,388,081 483,388,081 428,024,094
distillation 1

radfrac 5,911,850 5,911,850 58,159,170 5,911,850 5,911,850
distillation 2

radfrac 69,822,826 69,822,826 69,822,826 69,822,826 69,822,826
distillation 3

FT synthesis 680,335,917 680,335,917 680,335,917 680,335,917 680,335,91L7

heat exchangerl| 4,195,567 4,195,567 4,195,567 4,195,567 4,195,567

heat exchanger2| 9,759,880 9,759,880 9,759,880 9,759,880 9,759,880

heat exchanger3| 1,068,199 1,068,199 1,068,199 1,068,199 1,068,199

heat exchanger4| 3,632,622 3,632,622 3,632,622 3,632,622 3,632,622

heat exchanger5| 3,632,622 3,632,622 3,632,622 3,632,622 3,632,622

pump 2,605,364 2,605,364 2,605,364 2,605,364 2,605,364

IET



Table 5.3.Continued

condenserl 1,268,254 - - - -
condenser2 754,625 754,625 754,625 754,625 754,625
total 1,350,057,309 1,348,789,055 1,401,036,374 1,306,336,043 1,293,425,069
Table 5.4 Results Comparison for The Energy Consumption.
Case Hot utility Cold utility Cost for hot | Cost for cold | Total utility
requirement requireme utility utility cost
(BTU/hr) nt (MM8$/yr (MM8$/yr (MM$/ly
(BTU/hr) ) ) r
With condenser added 0.1039885E+11 0.1678697E+11 288 776 1064.023
With no condensed added 0.1039885E+111 0.1678697E+11 288 776 1064.023
with heavy components 0.8619653E+10 0.1528577E+11 239 945.322
separation optimized 706
with flash sequence optimized 0.1139260E+111 0.1582207E+11 316 730 1046.911
With Radfrac column 0.1084365E+11 0.1750977E+11 301 808 1109.746

ZeT



Table 5.5.Cost Analysis of Five Scenarios Analyzed.

Case/concept With With no Replace Flash Heavy
conde condens radfr sequence colum
nser er ac n
Annual capital cost (MM$/yr) 61 61 63 59 58
Annual operating cost (MM$/yr) 3,017 3,056 3,231 2,863 2,836
Utility cost without heat integration (MM$/yr) 1,715 1,715 1,88 1,530 1,59
Utility cost with energy integration(MM$/yr) 1,064 1,064 1,11( 1,047 945
Total sales(MM$/yr) 3,619 3,619 3,619 3,621 3,611
ROI without energy integration 0.29 0.28 0.19 0.38 0.39
ROI with energy integration 0.60 0.58 0.54 0.62 0.71

z€T



134

Overall, for the cases analyzed, the permenanthgasbeen separated from solvent
stream with 99% of recoverability, the solvent Hasen separated with 99% of
recoverability, and the heavier components prodast been recovered with 99% of
recoverability, and the recovery of the componé&hthown inFigure 5.11,where the x
axis shows the components from carbon 1 to cardgrwater, H and CO, and the y
axis shows the recoverability of the component.réhere 8 series showing 8 output
streams, including water streams, solvent strea@snenant gas streams, and heavier
components streams. The graph shows that 99% ddrvigtrecovered in the water
stream, 99% of solvent {&Cg) is recovered in the solvent stream, 99% af. C
components is recovered in the heavier stream98#@ of the G-C, is recovered in the

pergas stream.

Recoverability of each component in the streams
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Figure 5.11.Recovery of the Components in Each Stream.
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5.6.3 Economic Evaluation to Compare the SCF-FT and Conventional FT

Process
The optimum scenario of the abovementioned separation design is included in the SCF-
FT process to compare the cost potential with conventional FT process on the GTL basis.
The major parts included in calculating the fixed cost are showigure 5.12 Results
show that although GTL with SCF-FT design has higher cost due to the installation of
the pressure compression units and solvent separation units, it could be more energy
efficient in utilizing the pressure and temperature when separating, and in this way the
overall return of investment of GTL is higher than the conventional process. This means

that the GTL process with supercritical solvent design is competitive.
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Figure 5.12.Process Units in the GTL Process.
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The costs calculation for the components of thésusibased on the literature reports of
the NETL (Kreutz et al., 2008) using the correspogdscaling factor in addition to
Aspen Icarus estimations. The equipment cost isutated using the following scaling
methods from the existing cost case. The train @gpas calculated asS=Sr/n,
C=CO0x(§S0', Cm=Cxn™ whereCmis the component cosg, is the train costSris the
required capacityS is the train capacity$0is the base capacity,is the train number,
CO is the base cost reportddis the scaling factor anech was assumed as 0.9. Project
contingencies were added to cover project unceytand the cost of any additional
equipment that could result from a detailed desigor. typical chemical plants, the
OSBL costs are only 20% of the ISBL costs. Howeiwrela GTL plant the volumes of
the side streams are very high (i.e. the oxygenramndgen from the ASU as well as
water by-product from the FT synthesis) and haigdhnd treatment of these streams

require correspondingly more auxiliary operatioRgardson, 1993).

Table 5.6 shows a results comparison for the imadit FT process optimized in this
paper respect to the SCF-FT process proposedsrp#per. Notice that the capital cost
for the SCF-FT respect to the traditional FT predesreases 36%, the operational costs
decreases 9% and the total sales increase 5%essilts theROl increase from 0.25 to
0.26 for the SCF-FT process proposed in this pegmrect to the traditional FT process

optimized using the strategy proposed in this paper
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Table 5.6.Economic Comparison for the Traditional and SCH¥dcesses.

Process Total capital Cost Total Operational cos Total Sales ROI
(MM$) (MM$/yr) (MM$/yr)
Traditional
FT process 3248 5203 7493 0.25
SCF-FT
process 4406 4730 7826 0.26

The comparison of $/BPD of this case is compared eurrent GTL processes shown in
Table 5.7,and the unit cost of each major part is showhahle 5.8 The data show that
the capital investment per BPD of the proposed taselittle higher than the existing
plant of GTL and it is within the range of the tgal cost trend. The cost distribution of
this case is compatible with the typical GTL costribution of each major part. In this
case, the upgrading cost is a little higher thamcsel case, indicating the cost related

with the gas recovery and additional installatibsavent recovery system.

Table 5.7.Total Capital Investment (TCI) of the Process.

Plant BPD TCI (MM$) | $/BPD
Bintulu (Shell) 12,500 850 68,000
Oryx (Sasol) 34,000 1,100 32,353
Nigeria (Sasol) 34,000 2,000 58,824
This case 120,000 10,718 89,320
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Table 5.8.The Distribution of the Cost of the GTL Process.

UNIT Typical case (%)| This case (%)
ASU 30 27
syngas manufacture 30 17
FT 25 20
upgrading 15 21
power 0 15

5.7 Conclusions

In this work the performance of supercritical solvent separation from Fischer-Tropsch
products has been evaluated. An approach has been proposed to recover solvent from
SCF-FT products. A process for recovering is developed followed by optimization and
heat integration to analyze the economic potential. A flowsheet is established for
separation of the products. A case study is implemented to optimize the efficiency of
separating and the effect of products. Alternative scenarios for supercritical solvent
separation for FT products have been investigated and selected based on the developed
mathematic model. A comparison of cost efficiency between common FT process and
SCF-FT process has been carried out, and the result shows that SCF-FT is competitive to
conventional GTL processes when supercritical operation is coupled with proper

separation designs.
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6. SUMMARY, CONCLUSIONS AND FUTURE WORK

In this work, a shortcut method has been introdutmedthe conceptual design and
preliminary synthesis of alternative pathways @& fiocess industries with focus on the
applications for biorefineries. The chemical spsfdenversion operator structural
representation has been introduced. It tracks at@mpecies, connects various streams
with processing technologies, and embeds poterbafigurations of interest. An
optimization formulation has been developed to méze the yield or the economic
potential subject to constraints that include psscenodels, distribution of streams and
species over the conversion technologies, interection of the candidate technologies,
and techno-economic data. Three case studies hese $olved to demonstrate the
effectiveness and applicability of the developefdrapch. The case studies covered the
scenarios of maximum theoretical yield, accounfimgactual process vyield, including
more than one feedstock, and incorporating an eonanobjective (payback period),
The solutions of the case study illustrate theitglilf the proposed approach to generate
a wide variety of pathways that achieve the samgetabut vary significantly in their
building blocks and interconnections. The solutiddrthe case studies also demonstrates
that by including an economic objective functioratthhe complexity of the devised

pathways is greatly reduced.

Also, in this work a system to effectively optimizebiorefinery technology pathway

integrated with species separation and recyclearé&shas also been developed.
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The synthesis and design of separation networks has also been studies for a supercritical
fluid Fischer-Tropsch (SCF FT) gas-to-liquid (GTL) process. . A solvent-recovery
process has been synthesized. Optimization and heat integration have been employed to
improve the economic performance of the process. A case study has been solved to
include and screen alternative scenarios for supercritical solvent separation. A
comparison of cost efficiency between common FT process and SCF-FT process has
been carried out. The results show that the SCF-FT is competitive with conventional
GTL processes when the supercritical operation is coupled with proper separation

designs.

The following research activities are proposed for future work:
* Inclusion of fluctuation in the feedstock quality in the synthesis procedure for
biorefineries (design under uncertainty).
* Integration of process design and operation for biorefineries.
* Inclusion of process safety as an objective in the design of biorefineries.
» Assessment of different solvents for SCF FT and analysis of techno-economic

factors for the various solvents.
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