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ABBREVIATIONS 

 

EAF  Electric Arc Furnace 

BF  Integrated Blast Furnace 

BOF  Basic Oxygen Furnace 

DRI  Direct Reduced Iron 

CCS  Carbon Capture and Sequestration 

OCM  Oxidative Coupling of Methane 

IEA  International Energy Association 

kta  Kilotonnes Per Annum 

TEA  Techno-Economic Analysis 

FOAK  First-of-a-kind 

PCE  Purchased Cost of Equipment 

FCI  Fixed Capital Investment 

TCI  Total Capital Investment 

OPEX  Operating Expenses 

IRR  Internal Rate of Return 

PRWS  Peng-Robinson Wong-Sandler 

DC  Direct Costs 

FC  Fixed Capital 
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Abstract 

The economics of an integrated iron and hydrocarbon process utilizing molten salt electrolysis to 

produce 1850 kilotonnes per annum (kta) of reduced iron and 500 kta of higher hydrocarbons is 

presented. Capital and operating cost models based on Aspen Plus V8.6 sizing data were used to 

generate cash-flow and production costs for the proposed scheme. The process economics are 

most strongly dependent on the natural gas and electricity prices. The capital cost estimates 

include high contingency costs to reflect the higher investment risk for a first-of-a-kind (FOAK) 

process. At a carbon price of less than US $30/tCO2e, the process is competitive with traditional 



  

2 

 

blast furnace smelting. Areas where a more complete understanding is needed of the barriers to 

the deployment of this technology are identified. 

 

Keywords: Low CO2 Iron, Hydrocarbon conversion, Carbon price, Natural gas conversion, Iron 

electrolysis, Inorganic acid leaching 

1. Introduction 

 

Industrial manufacturing is a cornerstone of the global economy. It is a significant challenge for 

large producers of metals and chemicals to remain cost competitive whilst simultaneously lowering 

emissions and maintaining process energy and feedstock efficiency [1-2].  Manufacturing industries 

are responsible for approximately 30% of global CO2 emissions and iron and steel production is the 

largest industrial source of direct CO2 emissions estimated to be about 6-7% of the total global 

anthropogenic CO2 [3].  

 

The carbon intensity of different iron and steel production routes varies considerably, ranging 

from 0.4 tCO2/t crude steel for scrap/electric arc furnaces (EAFs), 1.7-1.8 tCO2/t crude steel for 

integrated blast furnace (BF) basic oxygen furnaces (BOFs) to 2.5 tCO2/t crude steel for coal-based 

direct reduced iron (DRI) processes [3]. Of these, the integrated BF-BOF route is the most widely 

used, accounting for approximately 70% of the world crude steel production in 2010 [4]. The 

majority of the emissions (~1.8 tCO2 / t crude steel average) come from the high temperature 

reduction of iron ore which today occurs through the oxidation of carbon feedstocks (e.g. coke) [5].  

 

The production of metallic iron requires the chemical reduction of ores.  Replacing coke as a 

reducing agent for the oxide ores with less carbon intensive feedstocks including natural gas, 

hydrogen (sourced from fossil fuels), or biomass have been investigated [6-7]. However, these 
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methods have limited economic viability or unacceptable secondary environmental consequences 

and in some cases simply pass the emissions upstream [8].  

 

Significant reduction in CO2 emissions (>50% of current emissions) is achievable through carbon 

capture and storage (CCS) [9]. The deployment of CCS technologies within an integrated steel mill is 

technically feasible and has been the subject of significant research [7, 9-11]. Indeed, CCS 

represents the largest portion of emissions reductions in the International Energy Association (IEA) 

emission reduction roadmaps for the iron and steel industry [1]. The complexities of integration, 

the high cost and energy penalty associated with capture from relatively dilute flue gas streams 

and the uncertainties of geological sequestration, mean that CO2 avoidance costs for 50% emissions 

reductions and higher have been estimated in excess of US $74/tCO2 avoided for current best 

available technologies [9].   

 

 An alternative is to electrochemically reduce the iron oxide as is done for other metal oxide ores. 

This is not currently economically feasible due to the high temperatures (>1500°C) required for 

iron ore reduction [12]. Chemical upgrading of iron ore through leaching to facilitate low 

temperature electrolysis of iron has also been investigated but prohibitively high processing costs 

have inhibited its development in industry [13-14]. 

 

 Olefins such as ethylene and propylene represent the largest volume of organic chemicals 

produced globally. In contrast to iron produced by reduction of oxide ores, the production of 

olefins requires partial oxidation of hydrocarbon carbon feedstocks.  The most common processes 

require heating alkanes to very high temperatures and ‘cracking’ them in the presence of steam. 

Additional chemistry allows the production of a variety of important commodity chemicals 

including alcohols, aromatics, and a diverse range of high value hydrocarbons [15]. Natural gas and 

methane hydrates are likely to provide abundant low cost light alkanes as feedstocks for organic 
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chemicals for decades [16-17]. The CO2 emissions result from the large quantities of energy 

required for modern olefin processing. Several hundred million tonnes of CO2 each year are 

released to produce olefins [16]. Hydrocarbon processing and the chemical industry as a whole 

account for 17% of industrial CO2 emissions (5.5% global CO2 emissions) [2].  

 

Efforts to use light alkanes to produce olefins and aromatics by selective partial oxidation and 

oxidative coupling of methane (OCM) using limited oxygen have been ongoing [18].  These catalytic 

processes have been identified as providing the largest potential for greenhouse gas emissions 

reductions in the IEA chemical industry roadmaps [2].  Despite decades of investigation, 

fundamental chemical limitations and practical challenges in catalysis remain and there is no 

evidence an economically competitive process is possible [19-23]. It has not been possible to 

demonstrate sustained high reaction rates of oxygen with light alkanes without producing large 

quantities of carbon oxides.  

 

Partial oxidation of methane and other light alkanes using alternative oxidants such has 

halogens has been demonstrated and operated in pilot plants [24-26]. Reactions of halogens 

including chlorine and bromine with methane or other light alkanes generate alkyl-halide 

intermediates which are readily transformed into olefins and aromatic products. The process 

technology is an alternative to the conventional steam cracking and dehydrogenation processes.  

For methane, the methyl-halide intermediate undergoes the same types of chemical 

transformations as methanol to form olefins (methanol-to-olefins [27]) or aromatics (methanol-to-

aromatics [28]). The main challenges to widespread commercialization of the halogen-based 

processes are the costs of recycling stoichiometric quantities of corrosive hydrogen halides which 

are used to regenerate the halogen and the thermal management of the exothermic reactions [29-

30].  
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We propose a unique process that couples the reduction of iron ore with the partial oxidation of 

natural gas alkanes to co-produce iron and organic chemicals.  Iron ore is upgraded by reaction 

with hydrogen chloride and the iron chlorides electro-reduced to the iron product.  The oxidized 

iron chlorides are used for reaction with methane to produce the methyl-chloride intermediates. 

These are subsequently converted to hydrocarbon chemical products and the hydrogen chloride 

reused. No CO2 is produced. The integrated process overcomes the limitations of the conventional 

iron ore electrolysis and methane partial oxidation processes using halogens through: 

 

• Substitution of the pure halogen for a liquid metal halide (FeCl3) as the oxidising agent to 

advantageously manage the exothermic heat load; 

• Leaching iron ore with the inorganic acid (HCl) generated as a by-product to create a higher-

value iron feedstock to an electrolyser (eliminating the major feedstock cost for leaching on 

the iron side); 

• Regeneration of the iron chloride feedstock via the production of reduced iron from 

electrolysis (eliminating the major regeneration cost of the halogen). 

 It is generally expected that a price will be placed on atmospheric carbon emissions at some time 

[31]. This will significantly impact both the iron and chemical industries and may have far reaching 

economic consequences for infrastructure, construction, transport, advanced manufacturing and 

consumer products [19].   In this paper we examine the techno-economics of a production process 

that co-produces iron and hydrocarbon products and makes use of process integration and process 

intensification for overall efficiency and economic gains. Specifically, we address the following 

questions:  What are the estimated capital and operating costs of the integrated process?  What 

are the sensitivities of the costs to the major process uncertainties?  What cost of carbon dioxide 

(CO2 price) would be needed for such a process to be economically competitive with present 

commercial processes? 
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1.1 Process Description 

A simplified process flow diagram of the proposed coupled process is shown in Figure 1. Methane 

from pre-treated natural gas is supplied to the ferro-chlorination reactor, where the facile reaction 

of methane with molten ferric chloride to produce ferrous chloride, hydrogen chloride and methyl 

chloride occurs (Equation 1). Chlorination of methane using redox active chlorinated molten salts is 

expected to reduce the exothermic heat load of the chlorination reaction due to the endothermic 

Cl
- 
evolution reaction [32]. The relatively small heat load is managed through absorption into a high 

thermal capacity molten salt. The methyl chloride product is coupled over zeolite catalysts to 

higher saturated and unsaturated hydrocarbons and aromatics (Equation 2). The hydrogen chloride 

by-product is used to leach the beneficiated iron ore feedstock, converting the insoluble oxide to 

soluble chlorides (FeCl2/FeCl3) and water (Equation 3), creating a higher value feedstock for 

electrolysis. The mixed ferric/ferrous soluble metal chloride feed undergoes molten electrolysis 

according to Equation 4 (Equations 4.1 and 4.2 half cells), regenerating the metallic halide 

feedstock. Essentially, the regenerable molten halide salt-based chemical cycle is used in the first 

instance, to simplify gas-to-liquid processes through an alternative method for regeneration of the 

halogen, and to produce reduced iron without CO2. 

 

Table 1: Simplified system of equations in the Dow Centre Process 

Equation No.  

��� + 	�	���	
 →	�	���	� +	��
�	 + ��	 1  

���
�	 → (���)� + ���	 2  

�/�	��
�� + �	��� ↔ �/�	����� + ����
 +���� 3  

�.�	����� → 
	����
 + �.�	��� 4  

���	� + �	�� ↔ �� + �	�	� 4.1  

�	����� +�	��� ↔ �	����
 + 	�	�� 4.2  
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Whilst the individual reactions presented in Table 1 have been the subject of investigation by 

others (halogenation of methane using metal chlorides [30, 33-34], more specifically ferric chloride 

[35], coupling of methyl halides [25, 36-38], leaching of iron ore with HCl [39-41], iron-chloride 

redox flow batteries [42-43]), in this report we present a unique process intensification which 

couples each of these individual concepts. 

Figure 1: Simplified process flow diagram of an integrated iron/petrochemicals co-production 

process plant. 
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2. Process Economics 

 

  The design basis for the process is iron production of 1850 kilotonnes per annum (kta) from 2690 

kta of beneficiated iron ore (Fe3O4) and co-processing of 575 kta of natural gas.  The techno-

economic analysis (TEA) reported here incorporates capital cost estimates with relatively high 

contingency factors, reflecting a higher risk investment for a first-of-a-kind (FOAK) facility [44]. A 

construction period of three years and 12-month start-up period operating at 50% of name-plate 

capacity has been used.  

  An ASPEN Plus conceptual process model was developed to obtain equipment sizing and costing 

data for calculating the purchased cost of equipment (PCE). For some major pieces of equipment, 

additional correlations and/or discussions with original equipment manufacturers were used to 

reduce cost uncertainty.  Fixed and total capital investments (FCI and TCI, respectively) were 

developed through well-established factorial methods [45].  

The natural gas pre-treatment (i.e. hydrodesulphurization) was not modelled, however, the cost 

of pipeline natural gas is included in the analysis. Based on the mass and energy balances, other 

fixed and variable non-capital estimates were made of the operating expenses (OPEX). With total 

operating and capital costs determined, a discounted cash flow analysis was performed to 

determine key investment indicators. A summary of the assumptions and financial inputs is 

provided in Table 2. 

For comparison purposes, different CO2 prices are used to calculate the required price ($/tCO2 

emitted) needed to raise the internal rate of return (IRR) for the investment to above 10% 

(nominal, after tax). This is calculated by assuming full pass-through of the carbon price, i.e. by 

increasing the product value of iron produced by conventional blast furnace technology (1.8 tCO2/t 

iron) by the full carbon price. This assumption is justified for low to moderate carbon prices as no 
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alternative processes are economically competitive, for example iron making with integrated CCS 

has an estimated minimum carbon price of US $74/tCO2 [9]. 

 

Table 2: Assumptions for FOAK Process TEA 

Economic Parameters 

Year of Analysis 2016 

Construction Period 3 Years 

Start-up Period 12 months 

Start-up Capacity 50% 

Plant Lifetime 25 years 

On-Stream Factor 91% 

Inflation 2% 

Weighted Average 

Cost of Capital (WACC) 

10% (Nominal, After 

Tax) 

Depreciation Straight Line 

Depreciation Period 10 Years 

Company Tax Rate 35% 

Location U.S. Gulf Coast 

 

To effectively compare direct and indirect CO2 emissions from each process, the carbon intensity 

of electricity supplied has been assumed to be supplied from a combined cycle gas turbine 

operating according to U.S. Environmental Protection Agency Clean Power Plan, releasing 

approximately 0.467 tCO2/MWh supplied [46]. This level of electricity carbon intensity is 

considered conservative for a transition scenario where power is predominately supplied by a 

mixture of nuclear, gas and renewable technologies and is investigated further in a sensitivity 

analysis. 
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3. Methods - Conceptual Process Modelling  

The conceptual process model developed in ASPEN Plus V8.6 is used to simulate the integration 

of the molten halide salt loop with a methane gas-to-liquid hydrocarbon product process. The 

Peng-Robinson Wong-Sandler (PRWS) thermodynamic property method was selected to model the 

hydrocarbon processing as this package is suitable for mixtures of non-polar and polar components 

in light gases above 10 bar operating pressure [47].  However, due to the lack of kinetic data 

available for methane molten iron chloride reactions, the ferro-chlorinator reactor was sized based 

on the kinetic data of the chlorination of methane with copper chloride melts reported by Fontana 

et al [32]. Whilst this represents a gap in existing knowledge, it is expected that natural gas 

chlorination via ferric chloride will exhibit similar kinetics to other redox active metal chloride 

mixed chloride salt systems. 

 

In the ferro-chlorination reactor, pre-treated natural gas (molar feed composition 96% CH4, 3% 

C2H6, 1% C3,H8) is fed in a stoichiometric ratio with ferric chloride of 1:2, reacting according to the 

overall system of equations shown in Table 3. The ferric chloride is diluted in a 50% NaCl salt 

solution for two purposes: minimising volatility of ferric chloride up to 600°C and to lower the 

eutectic melting point of ferrous chloride product to below 400°C [48-49]. The natural gas 

feedstock is oxidised at 28 bar and 400°C via the molten halide salt. The design basis is a single pass 

methane conversion of 80%, and 100% conversion of the small fractions of ethane and propane in 

the feed gas [38]. The single pass methane conversion of 80% has been assumed achievable based 

on halogenation work from Lorkovic et al [38] who achieved gas phase methane conversions with 

bromine of 70-75% in a single pass. The proportion of poly-alyklchlorides is easily managed in the 

coupling reactor [50], the mono:di chlorination ratio is fixed at 90:10 for the purposes of this 

analysis.  

Table 3: Overall reaction mechanisms of the halogenation reactor 
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Reaction at 450 °C Equ. 

No. 

∆H 

(kJ/mol) 

��� + 	�	���	
 →	�	���	� +	��
�	 + ��	 (2) - 88 

�	���	
 +	��
�	 → ����	� +	�	���	� +��	 (5) -90 

���� + 	�	���	
 →	�	���	� +	�����	 + ��	 (6) -106 

�����	 + 	�	���	
 →	�	���	� +	�����	� +��	 (7) -94 

�
�� + 	�	���	
 →	�	���	� +	�
� �	 + ��	 (8) -102 

�
� �	 + 	�	���	
 →	�	���	� +	�
���	� +��	 (9) -93 

 

The ferro-chlorinator reactors operate as 4 trains of counter-current gas flow through bubbling 

reactor columns, with maximum void fractions from gas holdup <0.3 [51]. The sizing parameters of 

the ferro-chlorinator are summarized in Table 4. 

Table 4: Ferro-chlorinator reactor design parameters 

Component Factor 

Reactors in Parallel 4 

Bubble Rise Velocity  0.3 m/s 

Gas Residence Time 35 s 

Excess Reactor Volume 20 % 

Reactor Diameter 6.3 m 

Reactor Height 11 m 

Total Volume 340 m
3
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The alkyl-chloride coupling reactor assumes 100% conversion of the alkyl-chlorides to heavier 

hydrocarbons (alkanes, alkenes and aromatics) with the same selectivity demonstrated by Lorkovic 

et al [25]. The reproportionation section of the reactor converts poly-chlorinated hydrocarbons to 

mono-chlorinated hydrocarbons through reactions with recycled alkanes and alkenes (C3’s and C4’s) 

according to the reaction scheme proposed by Pitt et al and Gadewar et al over zeolite catalysts 

[47, 52]. The reproportionation of C1-C5 alkanes with dichloromethane occurs at similar 

temperatures to the coupling reaction [37]. Achieving higher initial methane conversion in the 

halogenation reactor increases the proportion of poly-halogenated hydrocarbons requiring 

reproportionation. Increasing the proportion of mono-halogenated species present in the coupling 

reaction feed promotes the formation of higher molecular weight hydrocarbons and reduces 

catalyst deactivation via coking. 

 

 

 

 

The reproportionation reaction is expected to proceed quite slowly at low pressures [38], but is 

accelerated at the feed pressure of 26 bar over a zeolite catalyst [37] to achieve a conservative 

residence time of 20 seconds [29]. The exothermic reproportionation reaction is quenched through 

feeding a portion of the saturated alkane liquid from the recycled C3 and C4 alkanes to the mixed 

HCl and alkyl chloride stream at approximately 400°C.  

 

Alkyl Chlorides, 

CH4, HCl

Saturated Vapour 

C3, C4 Re-Proportionation Coupling

Packing

Quenching

Saturated Liquid

C3, C4 

Figure 2: Schematic representation of the design of the coupling reactor and subsequent product 

quenching 
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The exothermic heat load of the coupling reactions is managed through injecting the remaining 

saturated alkane liquid to a ceramic packed section of the reactor. The ceramic packing facilitates 

the alkane vaporization and prevents back mixing, quenching the feed to the coupling section of 

the reactor design. The coupling reaction over a ZMS-5 catalyst at approximately 450°C-500°C is 

very fast, going to completion in approximately 5 seconds [26]. To process the volumetric gas flow, 

two reactors are required operating in parallel, with a 3
rd

 reactor available to cycle for coke 

removal. The sizing dimensions of the coupling reactor are summarized in Table 5. 

Table 5: Coupling Reactor design parameters 

Component Factor 

Reactors in Parallel 3 

Reproportionation 

Residence Time 

20 s 

Coupling Residence Time 5 s 

Reactor Diameter 2.8 m 

Reactor Length 22.5 m 

Catalyst Loading 30% 

 

The HCl and the mixture of hydrocarbons are quickly quenched after coupling to circumvent re-

addition of HCl across alkene bonds [29]. Higher hydrocarbons (C5
+
) are separated using a RadFrac 

simulation capable of modelling multistage vapour/liquid fractionation operations and further 

processed for product purity requirements. The light hydrocarbons and HCl are sent to the ore-

halide slurry reactor, where HCl is completely reacted with the sparingly soluble iron oxide 

suspended in molten chloride, converting the oxide to soluble chlorides via reaction 4 and the 

hydrocarbon mixture passes through in the gas phase with minimal cracking [29]. This unique 

process design avoids costly cryogenic separation of large volumes of HCl from lower alkanes. 
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Further downstream separation of the hydrocarbon mixture from water generated in reaction 4 

occurs prior to recycling the unconverted lower alkanes. 

 

The ore-halide slurry reactor is sized with the same methodology as the ferro-chlorination 

reactor. The high solubility of HCl in molten chloride salts [53-54] facilitates effective contact for 

reduction of Fe3O4. The reduction of Fe3O4 with hydrogen halides (chlorine and bromine) has been 

the subject of investigation by many interested in thermochemical cycles for H2 production [39-41, 

55]. The reduction reaction of Fe3O4 with HCl is known to proceed rapidly, with the reaction 

products very strongly depending upon experimental conditions. Gas phase formation of the Fe2Cl6 

(g) dimer above the boiling point of FeCl3 is supressed due to the low vapour pressure of molten 

NaCl salts and the common ion effect [48].  

 

The impact of iron ore impurities such as carbon, sulphur and phosphorus on the product 

distribution is known to cause a favourable shift to FeCl2 production [39], but the extent of this 

impact on the overall system design is unknown and is the subject of further investigation. The 

dissolution of magnetite in concentrated acid solutions has been studied much less compared to 

other iron oxides, but is known to proceed at faster rates due to catalysis of the lattice dissolution 

by containing both Fe(II) and Fe(III) [56]. For the ore-halide slurry reactor, 4 reactors are proposed 

in parallel and the sizing dimensions of the coupling reactor are summarized in Table 6. 

 

Table 6: Ore-Halide Slurry Reactor design parameters 

Component Factor 

Reactors in Parallel 4 

Bubble Rise Velocity  0.3 m/s 

Gas Residence Time 41 s 

Excess Reactor Volume 20 % 



  

15 

 

Reactor Diameter 7.2 m 

Reactor Height 12.3 m 

Total Volume 450 m
3

 

Material CS + HS Lining 

 

The molten iron chloride salt leaving the ore-halide slurry reactor is sent to an iron-chloride redox 

electrolyser, which operates according to Figure 3 [42]. The redox chemistry is based on the iron (II) 

chloride/iron (III) chloride redox couple at the positive electrode and the iron (II) chloride/metallic 

iron couple at the negative electrode [42]. The open-circuit voltage is 1.21 V; however, an 

overpotential must be expected to drive acceptable current densities. There is insufficient 

information to quantitatively assess the impact of overpotential, parasitic losses and the potential 

production of by-products (e.g. Cl2 at the anode or H2 at the cathode) on the cost and complexity of 

the electrolyser and we have excluded them from the model. The ‘all-iron’ redox flow battery has 

been the subject of much interest in the field of large-scale energy storage systems since its 

conceptualization by Hruska and Savinell in 1981 [57]. Many of the technical and process 

challenges of the all-iron battery have since been well defined and significant technological and 

commercialization progress has been made [42, 58] and is not explored further here.  

 

In this process, many of the current cycling and performance life issues associated with redox 

flow battery are avoided due to employing the concept uni-directionally, not requiring the 

discharge step of redox flow battery process. Simply put, the iron plated on the iron electrode is 

removed and the ferric chloride regenerated at the positive electrode is recycled to the 

halogenation reactor at the beginning of the process to oxidise the natural gas feedstock. A 

schematic of a traditional iron-chloride flow battery is shown in Figure 3. 
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Figure 3: Schematic of the principle of operation of an iron-chloride redox flow battery [42, 58]. 

 

Design considerations included the materials of construction required to handle corrosive molten 

salts and hydrochloric acid. Any material in contact with hydrochloric acid or the molten ferro-

chlorinated salt is lined with hastelloy C (HS) to minimise corrosive attack. For all other materials of 

construction unless otherwise specified, carbon steel (CS) has been used as it possessed sufficient 

material properties to handle hydrocarbons. The materials are summarized in Table 7. 

 

Table 7: Materials of Construction for corresponding unit operations. 

Name Material 

Chlorination Reactor CS + HS 

Coupling Reactor CS + HS 

Quench Exchanger CS (Shell) + HS 

(Tube) 

Heavy Separator CS + HS 

BTX Separator CS 

Ore-Halide Slurry Reactor CS + HS 

Electrolyser CS + HS 
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Mol Sieve CS 

Lights Compressor CS 

Cryogenic Separation SS 

Salt Pump HS 

Salt Cooler CS (S) + HS (T) 

Flash Tank CS 

 

4. Results and Discussion 

 

Steady-state process simulation results based on an 80% single pass conversion of methane in the 

ferro-chlorination reactor, 100% conversion of alkyl chlorides in the coupling reactor and 100% 

neutralization of HCl in the ore-halide slurry reactor are summarized in Table 8. The electrolyser 

electricity consumption accounts for approximately 87% (320 MW) of the total process power 

consumption (367 MW).  

 

 

 

 

Table 8: Model Production Summaries 

Product Quantity 

Reduced Iron 1850 KTA 

C5 Pentane 150 KTA 

C5 Pentene 19 KTA 

Benzene 68 KTA 
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Toluene 136 KTA 

Xylene 127 KTA 

 

The process variables found to have significant impact on the process performance and cost 

include; reactant compositions, conditions, and reaction rates which have a major effect on the 

design and sizing of vessels and downstream separation processes. For example, hydrochloric acid 

in the presence of water significantly influences the cost of the materials required to limit corrosion 

in the process units. Allowances are made to account for these added costs where halogens are 

present.  

 

 The estimated total purchased cost of equipment for the current process design is $160.5 

million USD.  A breakdown of the costs determined using the ASPEN Icarus software package and, 

for the electrolyser, costs  from actual costs of installed electrolysers scaled on current density, is 

shown in Figure 4. It is apparent the most expensive unit costs are the hastelloy lined reactor 

vessels, totalling 49% of the PCE. These costs might be reduced through improving selectivity to 

higher hydrocarbons or more accurate kinetics to support reducing the reactor residence times. 

The project TCI is estimated to be $1927 million including working capital and start-up costs. The 

factors used to calculated the TCI from the PCE along with the other principal cost parameters are 

summarized in  

Table 9. For a FOAK process with engineering definition still conceptual only, a Lang Factor of 10 

applied to the purchased equipment costs [59]. This effectively applies a contingency cost of 180% 

to direct capital costs. The total OPEX is summarised in  

Table 10, based on the current design the total OPEX is $284.2 million USD/yr. The operating costs 

are dominated by the electricity charge of supplying approximately 320 MW to the electrolyser, 

accounting for 59% of the total OPEX.  
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Table 9: Total Capital Investment Cost Breakdown 

Parameter Cost ($US, Millions) 

Purchased Equipment 

Cost  

$160.5 

Equipment installation 

cost 

40% PCE 

Piping 60% PCE Non-Halogen 

$73.59 

$0.77 

$1.09 

$2.81 

$1.55 

$70.00 

$3.81 

$1.38 

Reactors

Expansion Tank

Pumps

Heat Exchangers

Cryo Separation

Electrolyser

Hydrocarbon Processing

Mol Seive + Compressor

$- $20.00 $40.00 $60.00 $80.00 

Millions

Break Down of Raw Equipment Costs

Figure 4: Breakdown of purchased cost of equipment costs 
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80% Halogen 

Instrumentation 20% PCE 

Electrical 10% PCE 

ISBL $384 

Buildings 15% PCE 

Site improvement 5% PCE 

Utilities 40% PCE 

Storage 15% PCE 

Auxiliary facilities 15% PCE 

OSBL $160.5 

Direct costs (DC) $544.7 

EPC 15% of DC 

Contingency 180% DC 

Indirect costs $1,061  

Lang Factor 10 

Fixed capital (FC) $1,606 

Working capital 10% of FC 

Start-up costs 10% of FC 

Total capital 

investment 

$1,927 
 

 

Table 10: Operating Costs 

Cost Item Basis $US, 

Millions/yr 

Maintenance 5% FC 45.2 

Labour 200 

Employees 

20 
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Operating 

Supplies 

10% 

Maintenance 

4.5 

Insurance 4% FC 36.2 

Overhead 50% Labour 10 

Electricity Calculated 168.3 

Total OPEX  284.2 

 

4.1 Cash Flow and Sensitivity Analysis 

For the discounted cash flow analysis, product values of $250/t for reduced iron [60] and a 

conservative average value of $700/t [61-62] for the hydrocarbons produced are used. Raw 

material costs of $60/t for iron ore [60], $4/GJ for natural gas [63] and $0.06/kWh [64] for 

electricity are used. This generates annual revenues of $813.8 million and an IRR of 5.4% with no 

carbon price in place. To achieve an IRR of 10%, a minimum carbon price of $27/tCO2 emitted is 

required. This value is sensitive to the model assumptions and raw material costs. The sensitivity of 

the economic analysis to the major factors affecting the viability of the process are illustrated as a 

tornado plot in Figure 5. Sensitivity bounds have been selected based on recent historic costs of 

inputs and outputs. 
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The process economics are most sensitive to the electricity and natural gas costs which will be 

strongly dependent on the facility’s location. The competitiveness of this new process compared 

with applying CCS to current blast furnace technologies will ultimately depend on the availability of 

competitively priced electricity and natural gas verses the availability of geological storage 

reservoirs and the cost of carbon capture technologies. Electricity from carbon-free nuclear power 

or renewable technologies further improves the carbon intensity and reduces the exposure to a 

price on carbon emissions.  Even when very conservative contingency factors for a FOAK are used, 

the process shows economic promise even at relatively low imposed carbon prices for the current 

and the predicted future prices [16]. Under the influence of uncertain future market conditions and 

the adaptability of the existing chemistry and technology, this process integrating molten iron 

electrolysis with organic chemical production has the potential to compete with conventional iron 

production.  

5. Summary and Future Work 

 

Figure 5: Sensitivity analysis of the major input variables to the CO2 price required to achieve a 10% 

IRR. 
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Presently proposed pathways for transitioning to a carbon constrained future demand a price on 

carbon [31]. The production of iron without CO2 through chemically upgrading the oxide ore for 

electrolysis using a by-product of hydrocarbon partial oxidation in this integrated process can 

reduce not only the environmental consequences of traditional manufacturing techniques, but 

minimise the far reaching economic impacts of carbon prices [19].  The process integration 

described here potentially eliminates major process costs for both processes, improving overall 

efficiency and process profitability. The use of methane from natural gas or other fossil 

hydrocarbons (i.e. propane) in this integrated process contributes to longer term use of   low-cost 

hydrocarbon resources without CO2 production. The process economics are highly dependent upon 

the availability of low cost hydrocarbon resources and electricity supplies.  High contingencies have 

been allowed in the capital cost estimates and the process economics are still competitive with low 

imposed carbon prices.  

 

Demonstrating the technical feasibility and improving the economic estimates to advance this 

proposed process is the subject of further work to verify the model assumptions.  The ongoing 

work includes laboratory investigations of the: 

• Rate of chlorination of ferric chloride-sodium chloride eutectic molten salt mixtures; 

• Impact of impurities contained within beneficiated iron ore (i.e. carbon, sulphur, 

phosphorus) on overall reaction products and rate of iron ore reduction; and 

• Purity of reduced iron product when electrolysed to an iron anode under system 

conditions. 
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Activation:
R-H+ 2 FeX3 R-X + 2 FeX2 + HX

Conversion:
R-X HX + R’

Electrolysis
4.5FeX21.5Fe0 + 3 FeX3

H2O
R-H

AromaticsLight Olefins

Ore Conversion:
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Highlights 

• A CO2-free integrated iron and hydrocarbon process utilizing molten salt electrolysis is 

proposed 

• Partial oxidation of natural gas alkanes using a liquid metal halide (FeCl3) as the oxidising 

agent 

• Generates a high-value electrolysis feedstock through leaching the iron ore with inorganic 

acids 

• Metallic halide feedstock is regenerated through the coproduction of reduced iron 

• Process economics are competitive with low imposed carbon prices  

 


