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ABSTRACT

The sorption enhanced steam reforming (SE-SMR) of methane over the surface of 18 wt. %
Ni/ Al 203 catalyst and using CaO a<&»-sorbent is simulated for an adiabatic packed bed
reactor. The developed model accounts for all the aspects of mass and energy transfer, in both
gas and solid phase along the axial direction of the reactor. The process was studied under
temperature and pressure conditions used in industrial SMR operations. The simulation
results were compared with equilibrium calculations and modelling data from literature. A
good agreement was obtained in termsCéfs conversion, hydrogen yield (wt. % of GH

feed), purity of H and CQ capture under the different operation conditions such as
temperature, pressure, steam to carbon ratio (S/C) and gas mass flux. A pressure of 30 bar,
923 K and S/C of 3 can result in @Honversion and Hpurity up to 65% and 85%

respectively compared to 24% and 4BPthe conventional process.
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1. Introduction

In any industrial chemical process, the reactor is considered as the heart of the process. In a
catalytic reactor, reactions between the reactants take place on the surface tdlyse ca
Downstream of the reactor, separation is required to achieve high product purity. Separation
processes are usually very costly and contribute towards higher investment and operational
costsE]. Mayorga et ﬂZ] presented a concept of a reactor in which reaction and@eparati
took place at the same time in a single reactor. This concept of hybrid reactor reduces the
capital cost of the process, as no downstream unit operation is required to achieve the desired

product purity.

CO accounts for 99 wt.% of total greenhouse gas emi n [3],causing global warming.
Almost 75% ofCOzemission in the atmosphere for the last 20 years is due to the burning of
the fossil fuels ]. Fired processes in the chemical industry represent a significant
contribution to total C@emissions in developed countries. Due to increasing concern about
the CQ emission, attention has been given to managgeédssion during the conventional
steam methane reforming (SMR) process. The SMR process is the most widely used
technique for H production and over 50% of the world’s H2 production is from the SMR
process]. The higher degree of endothermicity of the process makes it operate at high
temperature conditions. In industrial SMR process€€)-shift reactors are needed
downstream of the reformer to convert the undesired CO and stea@Ontnd H product.

Later on, amine scrubbing or pressure swing adsorption (PSA) process is required to achieve
the higher purity of Izi. To address the issue of global warming, researchers developed the
concept of combining the reforming process with in-sit G€paration by solid adsorption.

This process was named sorption enhanced steam methane reforming (SE-SMR)ﬂocess [5-

.



The SESMR is the process that producesadd at the same time captuf@®, by featuring

a CQ sorbent in the reactor. This process works on the principle of hybrid reactor as
presented by Mayorga et ﬂ [2]. Williams et ﬂ [5] issued a patent in whegrexplained

the SE-SMR process for the production of Fsekhovoi et al} [|6] showed that the SE-SMR
process saves the overall energy demand of the system and this process has the potential of
saving up to 20-25% energy as compared to the conventional SMR proces3ESMR

process has the advantage of increasing @ihversion, H production and removing GO

from the product stream. As the @€captured on a sorbent, the equilibrium of water gas

shift (WGS) reactions results in more ptoduction at low temperature (723-873 K) than the
conventional SMR process (1073-1300 ﬁ 8].9B-SMR process, no WGS reactor is

required downstream of the steam methane reformer unlike the conventional SMR process

Fernandez et aO] compared the performance of different sorbents on the basyetid.H

They reported that using CaO as sorbent results in a weakly exothermic processisigl
LioZrOsmakes the overall reaction weakly endothermic. In order to enhance the conversion
of CHs and achieve a maximum net efficiency, S/C for each process was adjusted and
optimum operating temperature and pressure was derived. It was concluded from the findings
that CaO is the most favourab®0, sorbent from thermodynamics point of view and it
favours higher K production as compared to other sorbents suchi&s0s, K-doped
LioZrOsz, NaZrOs and LuSiOs. Stability of CaO is a key issue for the fixed-bed sorption
enhanced reactor technology. A drop of the re-carbonation extent for a pure CaO in re-
carbonation/decomposition cycles is well-recognized. The main reasons for the decay of CO
capture capacity of CaO are pore blockage and sorbent sintering. However, the study of
Alvarez et aI.] revealed that the pore blockage is negligible for the 100 cycles at shorter

carbonation times and sintering remains the main factor of capacity loss.



According to Molinderet aIIEZ], CaO undergoes three different reactions. CaO is highly
hydroscopic and below 400 °C it undergoes CaO hydration rea&ijn Then this reaction

proceeds towards Ca(OH)arbonation reactiorR@).
CaO(S) + Hzo(g)(_) Ca(OH)Z(S)AHzggK = _109.18k] molcao_l (Rl)
Ca(OH)Z(S) + COZ(g)HCaCO3(S) + HZO(g)AH298K = —64.14 k] molCa(OH)2_1 (RZ)

Fernandez et alms] developed a mathematical model of SE-SMR process in a fixed bed
reactor using Ca/Cu looping process and CaO as the sorbent and studied the effect of
operating variables, such as catalyst to sorbent ratio, space velocity, S/C, pressure and
temperature, on the composition of product gases. They used the experimental work of Lee et
al. for their model validation. Koumpouras et[15] developed a mathematical model
and investigated the effect of sorbent ons@€Binversion in a fixed bed reformer. Three cases
were considered to investigate the effect of sorbent. In the first case, no sorbent was used so it
represented a conventional SMR process. In the second case, sorbent was used but its ability
to adsortCO, was set to zero. So in this case, it onlyedeisa heat carrier. In the third case,
sorbent was used asheat carrier as well a0, acceptor. It was found that a high€ds
conversion along the length of the reactor was obtained in third case. Din al. [16] and Xiu
et al. ] developed models of SE-SMR process and validated model predictions against

their own experimental data.

In the literature, the mathematical model of SE-SMR process, under the industrial conditions
has not been reported. In this paper, one dimensional heterogeneous mathematical model of
SE-SMR process is developed and implemented in gPROMS model buildef. 4Thé®
predictions of reactor model are validated against the modelling data published by Fernandez
et al. ]. The model predictions are also compared with the equilibrium data generated on

an independent equilibrium based software (Chemical equilibrium and application software).



2. Mathematical modelling

A 1-D heterogeneous mathematical model ofSBEESMR process in an adiabatic packed bed
reactor has been developed using gPROMS. This model accounts for the mass and energy

transfer in both gas and solid phase. In this modebissumed that;

a) The flow pattern of the gas phase in the packed bed res&toon-ideal plug flow in

nature.

b) The temperature and concentration variations along the radial direction of reactor are

considered negligible.

c) The active surface of the catalyst and sorbent facilitate the reforming and sorption

reactions.
d) Ideal gas behaviour is applicable.
e) The process is adiabatic in nature.
f) The size of the catalyst and sorbent are uniform throughout the packed bed.

g) The porosity of the packed bed is constant.

2.1Governing equations

The SMR reactionR3) is highly endothermic in natureand non-equimolar (more products
molesare formed than the reactants), so both high temperature and low pressure favour this
reaction at equilibrium. On the other hand, the WGS reactt®) (s exothermic and
equimolar and is therefore favoured by low temperature, while its equilibrium is not pressure
dependent. As the reforming reactions proceed andi€@leaseda CaO material captures

this CQ gas by chemisorption producing solid CaC®his sorption of C@ favours the

formation of more K by shifting the equilibrium of the WGS reaction and, via the resulting



enhanced CO consumption, also that of the SMR reaction towards more conversian of CH
In this model, only C®is considered to be adsorbed on the surface of the sorbent. The

adsorption of C@on the surface of Ca3 a highly exothermic carbonation reaction above

400 °C R5);

CHy(g) + Hy0¢g) © CO(g) + 3Hyg AH,ogx = 206k] molcp, (R3)
CO(g) + Hy0¢g) © COyg) + Hyg AHyogx = —41 k] molgo ~* (R4)
CaOgs) + CO (g CaCO3s) AH,ogx = —178.8 k] molgg 2 (R5)

The overall SE-SMR reaction is slightly exothermic in nature as shoR#;in
CaO(s) + CHy(g) + 2H,00 CaCOs(s) + 4Hy(q) AH,gx = —13.9 k] molgyot (R6)

On the basis of the assumptions reported above, the mathematical equations for mass and
energy balances within the reactor filled with sorbent and catalyst particles are |iSaddan
1. The equations used to calculate the physical properties and model parameters are listed in

Appendix A.

Table 1 Summary of mass and energy balance equations used in the 1-D heterogeneous packed bed

reactor model

Mass and energy balances in the gas phase for reforming process;

6Ci a(uCI) E)ZCi
Ep (E) t— kgiay(Ci — Cis) = &,D; 3z (1)
oT a(T) (02T
sbngpg (a) + ungng = hfaV(Ts - T) + 7\2 ﬁ (2)

Mass and energy balance in the solid phase;

kg,iav(ci — Cis) = Vpcatli — (1 — V) PadsTads 3)




dT;
PbedCp bed ( ot ) + heay (Ts — T)

= UPcat Z _Aern,j 0 Rj + (1 — ) pads z —AH 45 rags (4)
Pressure drop calculations across the reactor bed;

APgC 150 [(1 —g)? l <1 75> 1

7 )pg 2(5)

In Table 1, v is the ratio of the amount of the catalyst to the amount of sorbent filled in the
packed bed reactoradk is the rate of the adsorption of the £0n literature, many
expressions have been reported to describe the carbonation kinetics of CaO-based sorbents
ﬁ ] Lee et al4] performed experiments in a tubular reactor having an inner
diameter 22 mm and bed lengthof 290 mm containing 16.4 g Ni based reforming catalyst

and 83.6 g CaO based sorbent. Through series of experiments in temperature range of 650-
750°C, they determined the carbonation conversion data.In the past, many efforts were made

to describe the kinetics of G@dsorption on the surface of CaO based sor| [14,]18-20]

Rodriguez et 1] proposed a first-order carbonation reaction rate and developed arate

eqguation for CQadsorption on the surface of CaO sorbent.

dqcoz
dt

= Kearb (Xmax - X) (UCOZ - UCOZ,eq) (6)

Where Xnax is the maximum conversion of CaO, kcard][& the reaction rate constant of

active CaO sorbent antozeqis the volume fraction of COn equilibrium and it is given

a;

Vcoz,eq = (4137 X 107)exp(

—20474) %



Where, X is the carbonation conversion of CaO. Dedmanef al. [22] reported that the
carbonation rate of CaO is zero order with respect te @@ial pressure. Bhatia et 20]
proposed the carbonation rate expression which was independent of partial pressure of
COz.Lee et aI] perfored TGA analysis and determined the maximum conversion of
active CaO at different temperatures. The experimental data revealed that the conversion of
CaOwas very low even a& high temperature (750 °C). This may be due to the large size of
the CaO particles and low surface area. It was observed that using large size of the pellet,
there was no sign of particle deterioration even after many cycles of carbonation and
calcination. An expression to calculate the maximum conversion of CaO at any given

temperature is given by:

-12171 4790.6
Xmax=96.34exp( T )4.49exp< T ) (8)

The rate equations, reaction rate constants and equilibrium constants used in this model are
given inAppendix B. On the basis of reactions involved in SE-SMR, the rate of formation or

consumption of components given as;

3
ry = Z 1 (pllR] i= CH4, CO, COZ, H2 and HZO (9)
j=1
Wherel]; is the effectiveness factor of reactiongj, is the stoichiometric coefficient of
component i in reaction j, ang is negative for reactants and positive for products.

The reactor model equations (Egs. 1-4) consist of linear and non-linear partial differential
equations (PDEs) and algebraic equations. The initial and boundary conditions used in

solving these equations are as follows;
Boundary conditions;

Atz=0

Ci = Ci,in ; T= Tin ; Ts = Ts,in ; P = Pin



Atz=L

aC; oT 0T
=0 ; —=0 ; —=0
0z

Initial conditions;

Ci = Cip ; T=T, ; Ts =Tso ; qcoz =0

At initial conditions, itwas considered that no gags present within the reactor so the
concentration of gas speciess zero at the start i.e. at t = 0. Butting the concentration of

H> zero made the rates of reforming reactions infinite (B.1-3). To avoid this, a very small

initial concentration (~16) of the Hwas used in the solution.

The first-order backward finite difference method (BFDM) was used to solve the PDEs using
gPROMS. In this software, the differential algebraic solver (DASOLV) was used to convert
the PDEs into the ordinary differential equation (ODEs), and"sodler Runge-Kutta
technique was used to solve the system of ODEs. The reactor was axially discretised into a
number of intervals and the sensitivity of the model was first checked for discretization
ranging from 10-1000 intervals. The model predictions were found independent of the
number of intervals. Finally, the reactor was axially discretized by 100 uniform intervals for

this paper and the output results were reported after every second.

3. Resultsand discussion

3.1Model validation

The developed reactor model 8&SMR processas first validated against the modelling
results reported by Fernandez et [13]. In addition, modelling results for the process were
compared independently with equilibrium results generated by chemical equilibrium and
applications (CEA) software [44, 45]. The reactor geometrical parameters such as length of
packed bed(L), catalyst particle sizg)(ded porosity €,) and process variables like; S/C,

operating temperature, pressure and mass ({ix are adapted according to the values



reported by Fernandez et Els]. In this work, the temperature range of 923-1023K, pressure
range of1.0-35bar, S/C of 3-7 and residence time betweet &nbs0.38$ were used. The

values used for reactor parameters and operating variables are |iStdar2.

Table 2: Physical parameters and operating conditions used in reactor model wﬁation[ﬂ]

Reactor characteristics and operating conditions
Gas feed temperature, il 923K
Initial solid temperature, [ 923K
Wall temperature, [J] 1073 K
Total pressure, [P] 35bar
Steam to carbon ratio, [S/C] 5.0
Intel gas mass flux, [ 3.5 kgnvs?
Maximum fractional carbonation conversion of CaOydX 0.4
Apparent density of reforming catalyst, [pcaf 550 kgm?
Apparent density of CaO based sorbent, [pcad 1125 kgm?
Diameter of particles, [l 0.01m
Reactor bed length, [L] 7m
Bed porosity, §u] 0.5

The overall production of &l conversion of ChHand CQ capture in thé&SEESMR process

depends upon the chemistry of the reactions taking place within the reactor and the




chemisorption characteristics of the sorbent. The adsorption pbG&@e surface of sorbent

is highly exothermic reaction and it causes a gradual rise in the temperature of the system. On
the other hand, the overall SMR process is endothermic in nature and needs heat to proceed.
The gas temperature variation results obtained from the reactor model developed in this work

were compared with modelling values reported by Fernandez I. [13] and an excellent

agreemenis observed, as shown igure 1.
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Figure 1 Predicted temperature profiles at the outlet of reactor at a feed temperature oB828K,
5.0, 35 bar and gas mass flow velocity of 3.5 kégtrunder adiabatic conditions. Dots are literature
values] andsolid linerepresents modelling results of this study.

In the pre-breakthrough period (t<720s), rise in the outlet gas temperature is observed
because of th€O,sorption process. In this period, adsorption ob@Imaximum as the rate

of carbonation reaction is high. The maximum temperature obtained in thissv@si.7K

i.e. an increase of 30.7K from the feed temperature, while a rise of 32K above the feed

temperature is reported in the modelling from the Iiter [13].



In the breakthrough perio@20s <t < 1500 s), adrop in temperature is observed,but after
1500s the temperature becomes constant. The minimum temperature reached is 866.3 K i.e.
decrease of 56 K from feed temperature compared to a drop of [[I3¢ sorbent is not
active in the post-breakthrough period and only SMR process is happening in this period,

hence the overall process is endothermic and the temperature of the adiabatic systemdrops

from 923K to 866.3K.

Fernandez et 3] also reported the modelling of the SE-SMR undernon-adiabatic
conditions.For the non-adiabatic SE-SMR process, the energy balance equation wasmodified
and the transfer of heat from the wall to the processvgasncluded. The modified energy

balance equation is givday;,

oT
PbedCp,bed (a_ts) + hra, (Ts — T)

= 0Pcat . ~BHrang R + (1= 0)pads 9. ~BHadsFaas + (T = T)5-(10)
In this equation, f is the heat transfer coefficiematthe wall of the reactor, u is the
temperature of the reactor wall and iB the inner diameter of the reactor. The modelling
results of this work and the results of Fernandez I.[13]under the same operating conditions

for non-adiabatic process are compareBigure 2 and a good agreement is observed.
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Figure 2 Predicted gas temperature profiles at the outlet of reacédeatl temperature of 923K, S/C
of 5.0, 35 bar and gas mass flow velocity of 3.5 kighunder non-adiabatic conditions. Dots are
literature value3] and solid line represents modelling values of this study.

By analysing both adiabatic and non-adiabatic prasessis observed that in the pre-
breakthrough period of the adiabatic process tempernathrgher than the temperature in the
non-adiabatic process. This higher temperature results in mareré@uction and hence the
carbonation rate is maximum. The higher carbonation rate thus makes the duration of pre-
breakthrough shorter in the adiabatic process as compared to the non-adiabatic process.
Although the rise of temperature is the same in both cases, the shorter pre-breakthrough
period of the adiabatic process is more favourable under fast cycling operationss On th

basis, the adiabatic process is selected for further analysis.

The reaction rate constant of CaQafl plays a major role in the kinetics of carbonation
reaction R5). The effect of carbonation reaction rate constant on the temperature profile of
the SE-SMR under the adiabatic conditions was studied by Fernandeﬁl al.[13]. Their
findings are used to validate the modelling resultszigure 3, three rate constants are used

and it is quite clear that the reactor temperature is dependent on the value of carbonation rate
constant. Fora smaller value of carbonation rate constantogk= 0.18 &), the pre-
breakthrough period is longer (~1500s) than higher values®f(k500s). The lower value

of kco2 suggests that the sorbent is not highly reactive and the rate,@dS@ption is slow.

While in the case of higher value afd¢ (0.7s%), the rate of C@adsorption on the surface of
sorbent is very fast and hence the sorbent reached its full absorption capacity earlier. The
higher value is preferable for fast cycles of SE-SMR process. For the three difduest of
carbonation rate constant, the final temperature of the system is the same i.e. 867.9K as this is

determined by the adiabatic conditions and post-breakthrough conditions of SMR.
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Figure 3 The effect of carbonation rate constant on the gas temperature profile at the oudletoof re
atafeed temperature of 923K, S/C of 5.0, 35 bar and gas mass flow velocity of 3% kgmader
adiabatic conditions. Dotted lines are literature va [13] and solid lines are moaliiltg of this
study.

3.2Sensitivity analysis of SE-SM R model

The optimum operating conditions for t&&SMR processvere determined by evaluating
the process performance under various conditions of temperature, pressure, S/C and gas mass
flow velocity. The simulation resultsobtained using the reactor modelare also compared with

the equilibrium results generated using CEA software.
3.2.1 Methodology of equilibrium calculationsusing CEA

The CEA software was used to generate the equilibrium data [44, 45]. This software is based
on minimization of Gibbs free energy (G) [46]. The chemical equilibrium analysis was done
by considering the gas species involved in the reactant and product streams, w@ikh, are

Hz, CO, CQ, H20, Ny, CaO and CaC§using the option ‘ONLY” in the CEA software. This



allows specification of a restricted pool of species as potential equilibrium products. The
calculations of individual equilibrium molar outputs were performed on the basis of N
balance, which allowed the determination of the total moles of product at equilibrium in post
processing, and its product with the relevant mole fractions predicted by the CEA output. The
solid carbon equilibrium product was not included as it is not significant in conditions of
excess stoichiometric steam of the present study.To study the effect of temperature, pressure
and S/C were fixed and the CEA code runs in temperature-pressure (tp) mode, corresponding
to an isothermal and isobaric process. Similarly, to study the pressure effect; temperature and

S/C conditions were fixed, still in tp mode.
3.2.2 Effect of temperature

The conventional SMR process is carried out in industry under high temperature (800-
1000°C) and high pressure (20-35bar) conditi, 24]. The SE-SMR process is simulated
under various temperatures (500-800 °C) but at a pressure of 30 bar, Ca/C of 1 and S/C of 3
using the CEA software.From the equilibrium results generated usingCEA it is concluded
that 99% conversion oCHs is achieved aa high temperature between 700-800°C, S/C of

3.0, 1bar and Ca/C of 1.0. But at such a high temperatungutity is just 76% because the

CO capture efficiency is almost zero at suehigh temperature conditions. So there is a

trade-off between the conversion of £&hd B purity.

In Figure 4, the effect of temperature @Ha conversion, H purity and yield (wt. % of Chj
and CQ capture efficiency is presented. The simulation results generated using gPROMS are
compared with the equilibrium results generated using CEA to provide the maximum

conversion and Hyield values permitted by equilibrium in the same conditions.

A CHas conversion of 69.7%was achieved at 973K (72.7% at equilibrium). The higher

conversion of Chlat 973K results in higher yield of;H.e. 27.6%(wt. % of feed CH but



lower CQ capture efficiency. As temperature is increased from 973K to 1050K, the drop in
H> purity drops from 83.4% to 76.6%, caused by lower C&pture efficiency.This shows

that the carbonation reaction (R5) is not active at temperature higher than 973 Kahence
drop in CQ capturing efficiency results in more €@ the product, reducing the partial
pressure of the reforming reactants. Therefore, a drop.irs ldbserved after 973 K. In
Figure 4(d), the drop in C@capturing is higher after 973K in modelling results as compared

to equilibrium results. This steep drop is because of the carbonation kinetic values used in the
modelling are not favourable at such a high temperature. The optimum temperature range for
the SEESMR process at 30 bar and S/C of 3.0, Ca/C of 1 and gas mass flow velocity of 3.5 kg

m2s?is 873-973K. This range is used for further modelling studies.
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Figure 4: The effect of temperature on the a) €bhversion; b) kipurity; ¢) H yield (wt. % of CH)
and d) CQcapture efficiency at 30bar, S/C of 3.0, CaO/C of 1.0 and gas mass flow velocity of 3.5 kg

m2s?t
In Figure 5, dynamic profiles of dry mole percent of Hnd CQ in the temperature range of
873-973K are presented. The activity of sorbeat higher at lower temperatures (873K and
923K) and as the temperature increased beyond 923K, the activity of sorbent decreased.
Thepre-breakthrough period in the case of 873K and 92&Ksmaller than that of 973 K.
The higher activity of sorbent made the system with a lower temperature of 873 K preferable
in fast cyclic operation as high capacities were reached faster and were less limited by th
equilibrium maximum. The mole percent of €é&nd H in the pre-breakthrough period for
the SEESMR process having 973K as feed temperature were 2.9% and 84.1% respectively.
By comparison at 923K feed temperature, the mole percents pa@DHwere 0.34% and

87.3% respectively.
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Figure 5 Composition profile of land CQ on dry basis at T=873-973K, 30bar, S/C of 3.0 and gas

mass flow velocity of 3.5kg fs*!



The modelling results presented kgure 4 and 5 show that 923K is the optimum
temperature in terms of GHonversion, H purity and yield, C@capture efficiency and

sorbent activity for th& ESMR process operating under 30bar and S/C of 3.0.
3.2.3 Effect of pressure

Temperature hasa positive effect on the dynamics of the reforming process as seen in
previous section, but according tbe-Chatelier’s principle pressure has negative
equilibrium effect on the reforming process. Pressurealpsitive effect on the kinetics of
CO, sorption capture, as adsorption of £a@n the surface of sorbent is favourableaat
pressure higher than 1b25]. In industrial proegs$igh pressure His required
downstream of reformer and it is ill advised to generatatth low pressure and then use

energy intensive compressors to pressurise it according to required storage conditions [26].

In the previous section, 923K is selected as an optimum temperature. So, the effect of
pressure on the SE-SMR is studied at this constant temperatuFeguire 6(a-d), it is
observed that with the increase in pressure from 20 to 35 bar the converSida refduces

from 73.5% to 64.8% and same is the case witlpiitity and CQ capture i.e. both reduce

from 86.5 to 82.9% and 64.5 to 58.8% respectively in the reactor model.

The dynamic behaviour of ttf#ESMR process under different operating pressure conditions

is presented ifrigure 6 (a-d). At 20 bar and S/C of 3.@H4 conversions 73.5%. To study

the process atan industrial scale, 30bar is used and at this pressure the equilibrium
COocapture efficiency and Hpurity is 71.0% and 90.8% respectively. Underthe same
operating conditions, the reactor model yields 60.8%c@fiure efficiency and 84.1%:,H

purity as shown ifrigure 6 (c & d).
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and d) CQcapture efficiency at 923 K, S/C of 3.0, CaO/C of 1.0 and gas mass flow velocitykgf 3.5
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The CQcapture efficiencyvaries with pressure because pressura sigsificant effect on

the rate of adsorption of C®n the active site of the CaO based sorbenEidure 7, the

effect of pressure on the carbonation rate is illustrated. The rate of carbonation is higher at

20bar, hence more capture@Dzis expected at this pressure as compared to pressure higher

than 20 bar. The maximum value of carbonation rate for 20and 35 bar is 768xd1.0

6.27x10'mol kg! s'respectively. This shows that the carbonation rate is almost 1.2 times

higher in the case of 20 bar than 35 bar. The pre-breakthrough period at 20 ant 8Dbsr

and 700s respectively. So the sorbent reaches its maximum activity much earlier at 20 bar

than 35 bar.
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3.2.4 Effect of SIC

One of the vital parameters in the performanc8BEMR process is S/C. The comparison of
modelling and equilibrium results in terms of £¢bnversion, K purity and yield (wt. % of
CHs) andCQcapture efficiencyare presentedTiable 3 for S/C from 1 to 3, and dynamic

profiles of B and CQ mole% are shown iRigure 8 for S/C up to 6.

Table 3 Effect of S/C on the ClHconversion, Hyield (wt. % of CH), H. purity and CGQcapture
efficiency at 923K, 30bar and gas mass flow velocity of 3.5 kg'm

H. yield
CH,4 Conversion CO; capture
SC [wt.% of H2 purity [%]
[%] [%]
CH4

1 M:32.4 M: 125 M : 58.5 M : 28.9




E:344 E:17.4 E:67.6 E:34.0

M :51.7 M :20.0 M:74.7 M:46.1
2

E:56.2 E:28.3 E:83.5 E:55.8

M:67.5 M:26.2 M:84.1 M:60.8
3

E:714 E:36.1 E:90.8 E:71.0

Where; M: gPROMS modelling results and E: Equilibrium results generated via CEA

Tabulated results show that the higher S/C is favourable for higher conversion. dh @té¢

S/C range 1to 3, the maximum conversion o,@rtl B purity are achieved at S/C of 3.0. It

is quite clear from the results Figure 8 that more steam enhances the purity of(F.7%

to 97.5% as S/C increases from 2 to 6). The higher amount of steam in the SE-SMR process
enhances the selectivity ok ldnd the lower amount of G&lows down the carbonation rate.
Ascan be seen iRigure 8, the pre-breakthrough period is shorter for S/C of 2 as compared to
the process having a higher S/C. The pre-breakthrough periods for the process having S/C of
2 and 6 were 600s and 1000s respectively. It is concluded from the results that higher S/C is
preferred for higher purity of £l CHs conversion and Hyield althoughthis would reduce the
thermal efficiency of the process as more heat is required for the generation of the excess
steam. Since there is always a trade-off between theputity/yield and the thermal

efficiency of the process, in industrial SMR pro@ssS/C of 3.0 is commo?].
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Figure 8 Dynamic profile of H and CQ composition (dry basis) at the outlet of reactor for various
S/C(2-6) under the adiabatic conditions at 923K, 30bar ankh31¥s? gas mass flow velocity

Fernandez et 8] modelled tf8&SMR process for Ca/Cu looping system and they
studied the variation of temperature at the exit of the reactor for various S/C. They found that
temperature variation is almost negligible for S/C range of 2 to 6 and the length of the pre-
breakthrough period changed from 600 s to 1000 <idmre 9, the dynamic profile of
temperature generated in this work is presented for S/C of 2 to 6 and it is in excellent
agreement with literature results. At the start there is a rise in the temperature, it is because of
the exothermicity of the SE-SMR process. The rise in temperature for g 81®) is about

20K from the feed temperature. As expected from previous results, the pre-breakthrough

period in case of higher S/C is longer than the lower S/C.

The minimum temperature was reached in the post-breakthrough period when all the sorbent
was saturated. In the post-breakthrough period, only conventional SMR process took place.
For all S/Cin the range studied, the minimum temperature achieved was 881K i.e. drop of
42K from the feed temperature. Fernandez I.[13]used 35bar and reported a minimum

temperature of 868 K in the post-breakthrough period.
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3.2.5 Effect of gas massflow velocity

The gas mass flow velocit{Gs) is another important operating variable that affects the
performance of the system. The selection g6 Gighly dependent upon the length of the
reactor. Rostrup et 9] proposed 1.5-2 frvelocity as the optimum velocity to get the

conversion ofcHs close to the equilibrium conditions.

In this work, various values ot@re used to study the effect on the performance oSHe
SMR process. Iirigure 10, the dynamic variation of CQand B composition (dry basis) is
presented under the operating conditions of 923 K, 30 bar, S/C of 3.0 and var{@us G

kg nm2 s1). The lower Gresuledin alonger pre-breakthrough period as the residence time
ishigher in the reactor arahigher conversion of CHs achieved. For &of 2 kg m?s?, the
conversion ofCHswas 71%. This was very close to equilibrium value of 71.4% under the
same operating conditionss&sincreased, the CHtonversion decreased because of shorter
residence time. The longer pre-breakthrough periodlower G may be unsuitable for fast

cyclic processs The pre-breakthrough period increased from 90s to 1200sdasréased



from 7 kg m?sto 2 kg n?s?. The optimum Gselected was 3.5 kg fa'due to having pre-
breakthrough period of 700s. At this,GHs conversion and Hpurity is 67.86 and 84.2

respectively, corresponding to 71.4% and 90.8% atequilibrium.
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Figure 10 Dynamic profile of H and CQ composition (dry basis) at the outlet of reactor for various
Gsunder the adiabatic conditions, at 923K, 30bar and S/C of 3.0

3.3Comparison of SE-SMR and SMR models

To compare the performance of tB&SMR process witha conventional SMR process,

optimum values obtained through sensitivity analysis in previous sections are used.

In Figure 11, the effluent composition (dry basis) profiles are presented f@E®MR and
SMR processes under the operating conditions of 923K, 30bar, S/C 3.Q ah8.%kg nrs

! The compositions of Hand CQ at equilibrium under the same operating conditions are
also presented in this figure. Modelling results show that the compositiona&@Imost
zero up to 700s in thBESMR and after >1500s (~25 min), the GQzompositions in SMR

and SE-SMR became equal. In t68€, pre-breakthrough period, the compositions of H



iIS87% in SE-SMR but only 50% in SMR. In tlE, post-breakthrough periad>1500s), the
sorbent was no longer active hence BBEBSMR and SMR processeshave the s&@@e and

H> compositions.
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Figure 11 Effluent mole percent profiles of+ind CQ in SE-SMR and SMR process at 923K,
30bar, S/C of 3.0 and gas mass flow velocity of 3.5Kg'm

The adsorption of C9on the active site of the sorbent is highly exothermic and it releases
considerable amount of heat (-178 kJ gast). In adiabatic conditions this results in higher
temperatures in the reactor bed for the SE-SMR, which is more favourable for the reforming
reactions. The enhancement in conversion of @i to CQ sorption is calculated. The
conversion enhancement reveals the advantage of using sorbent within the system as shown

in Figure 12 (a). The conversion enhancement factor E (t) is calculated as;

_ (XCH4)ad—(XCH4)nad
B = (XCH4)nad X100 ()

Where(Xcha)ad is the conversion of CHn the presence of adsorbent (ad) aneh@fadis the

conversion of CHl in the absence of adsorbent (nad). The enhancement in conversion



decreases at breakthrough when the sorbent gets saturated. As it can be seen that conversion

enhancement is zero in the post-breakthrough period.
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Figure 12 a) CHiconversion enhancement and b) Comparison of temperature profiles generated at the
exit of packed bed reactor in SE-SMR and SMRat 923K, 30bar, S/C of 3.0 and mass flow velocity of
3.5%g m?s?

The presence of sorbent with catalyst actually enhances the reforming reaction rates by

increasing the temperature of the process. The comparison of temperature profile for both SE-

SMR and SMR is also presentedrigure 12 (b).

4. Conclusion

The one-dimensional SE-SMR model developed using gPROMS mimics the modelling data
reported in Iiteratur3]and shows an excellent agreement. The mathematical model under
both adiabatic and non-adiabatic conditions performs well according to the literature data.
Operating parameters, such as; temperature, pressure, S/C and gas mass flow velacity have
strong influence on the performance of the SE-SMR process. The optimum temperature

obtaired under the high pressure (20 to 35 bar) conditions is 923 K. This temperature gives



67.5% CH conversion at S/C of 3.0 and 30bar and the purity-ohd¢tieved is 84.1%. The
selection of optimum pressure for industrial scale is a trade-off betweguriy, plant

capital cost and downstream pressure requirements. The pressure as high as 30bar is
considered as optimum in this study as it fulfils the requirement of industrial presswe of H
and gives a considerable purity of 84.1%). Selection of optimum S/C is also a trade-off
between the purity of Hand operational cost of the plant. The higher amount of steam
enhances the conversion of £&hd gives more purezHbut high steam requirement is not
feasible in terms of operational cost of the plant. S/C of 3.0 is selected to meet the
requirements of KHpurity at a minimum operational cost. The selection of gas mass flow
velocity is done on the basis of operational time of the process apdrity achieved at the

outlet of the reactor. The gas mass flow velocity of 2 késtmduces onset of pre-
breakthrough period at 1200s while in the case of gas mas flow velocity of P<kighis

period is 90s. The gas mass flow velocity of 3.5 késtis picked as an optimum value
havinga pre-breakthrough period of 700 s and 67.5%, Céhversion against the equilibrium
conversion of 71.4%. Furthermore, the comparison between the predictionsSi #MR

and SMR models shows enhancement of Chversion by 180% due to the presence of the
sorbent in the reactor. The adsorption of2@@ the active surface of the sorbent is highly
exothermic process and it releases considerable amount of heat (-178%J Thigl heat
promotes the reforming reactions and conversion above the conventional SMR process is

achieved.
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NOMENCLATURE

a Interfacial area per unit volume of catalyst bed/nm
Ci Concentration of component i, moffim

Ciin Inlet concentration of component i, mofm

Cio Concentration of component i at t=0, mol/m

Cis Concentration of componenbn solid surface, mol/M
Chg Heat capacity of gas at constant pressure, J/(kg.K)
Cp,bed Heat capacity of bed at constant pressure, J/(kg.K)
Di Effective diffusion coefficient, s

Dm Average molecular diffusivity, Afs

dp Catalyst particle diameter, m

Dr Inner diameter of the reactor, m

D, Axial dispersion coefficient, #s

E; Activation energy of reaction j, J/mol

E(t) Conversion enhancement

Gs Gas mass flow velocity, kg/(f1s)

hy Gas to solid heat transfer coefficient, W#(s)

Jo,i Chilton-Colburn j-factor for mass transfer

N ¥ Chilton-Colburn j-factor for heat transfer

k Thermal conductivity, W/(m.K)

Keft Effective thermal conductivity, W/(m.K)

Kg,i Gas to solid mass transfer coefficient of componeng/imfs
Ki Adsorption constant of species i

K; Kinetic rate constant of reaction j




Ko,i Reference adsorption constant of species i
K; Thermodynamic equilibrium constant of reaction j
k; Axial thermal conductivity, W/(m.K)
L Packed bed length, m
pi Partial pressure of specie i, bar
P Total pressure, bar
pireed Partial pressure of component i in feed, bar
PP Pressure at z=0, bar
Pin Inlet pressure of the feed, bar
Pr Prandtl number
Solid phase concentration of €(average on the surface of
ooz sorbent), mol/rh
R, Ry Ideal gas constant, J/(mol.K)
ri Rate of production of component i, mol/¢kg)
lads Rate of adsorption of COmol/(kg.s)
Re Reynolds number
R Rate of reaction j, mol/(kg:.S)
Sii Schmidt’s number
T Temperature within system, K
Tin Inlet temperature, K
Ts Temperature of catalyst particles, K
Tso Temperature of solid particles at ‘t=0", K
Tw Wall temperature, K
Us,V Superficial velocity, m/s

Xmax

Maximum fractional carbonation conversion of CaO




XcHa Fractional conversion dEHa

AHrex Heat of reaction at standard condition, J/mol

AHads Heat of adsorption reaction at standard condition, J/mol
AP Pressure drop across the reactor, bar

Greek Letters

Q Denominator term in the reaction kinetics

A Effective thermal conductivity, W/(m.K)

Ag Average gas thermal conductivity, W/(m.K)

As Solid thermal conductivity, W/(m.K)

A° Effective thermal conductivity of motionless fluid, W/(m.K)
Pt Density of fluid, kg/nd

Pcat Density of catalyst, kg/f

Pad Density of sorbent, kg/M

0 Effectiveness factor of reaction ‘j’

Djj Stoichiometric coefficient of component ‘i’ in reaction ‘j’

Ug Viscosity of gas, Pa.s

v Ratio of catalyst amount to sorbent amount




APPENDIX A

Physical properties used in the reactor model are given as;
The axial mas dispersion coefficient is giveEIs[:BO];

0.5usd,,
1+ 9.49D,, /ugd,

D, = 0.73D,, + (A.1)

Where D is the axial dispersion coefficie(th?/s), ¢ is the diameter of particle (m)s is the
interstitial gas velocity (m/s) and.Ds the average molecular diffusivity ).

The effective thermal conductivity is given by the following relat

AL
)\g
o
===+ 0.75PrRe, (A.2)
}\g
A2 1-— €p
,/\—Z =g, + - (A.3)
g 0.139g, — 0.0339 + (%) Ag/A

Wherelg is the average thermal conductivity of gas (W Kit)and s is the average thermal

conductivity of solid material(W mhK™). The mass transfer coefficient is give@;

D:
kg; = jp,ReSc;” d—l (A.4)
p
epjpi = 0.765Re™%82 4+ 0.3655c¢; *3%8 (A.5)
The dimensionless numbers are given as
ugd
e = pf% ;. 0.01< Re < 1500 (A.6)
Sc; = p‘]l) ; 0.6<Sc<7000 , 0.25<g,<0.96 (A.7)
fYi

The heat transfer coefficient and its dimensionless numbers are given by the following

relations|32)|33];

C,G
he =jup s (A.8)



ju = 0.91Re™®51y  ; 0.01 <Re <50
ju=0.61Re™®1y ; 50<Re< 1000

Pr — Cpghg
Ag

APPENDIX B

(A.9)

(A.10)

(A.11)

The kinetic rate equations and kinetic data used for this modelling work are given as;

R — Ky _pf&zpco (i)

k, PH,Pco, [ 1
R
2 pHZPcopHZO K 02

ks P, Pco 1
R — 2 _ 2 2 ( )
3 _p%f (pCH4pHZO Ky 0z

—-E,; 15 —240100
k; = kg exp (ﬁ) = (1.17 x 10~>) exp (T)
k. =k (_ 2) — (5.43 x 105 (_67130)
ks = k (_ 3) = (2.83 x 10™ <_243900>
3 = Kp,3€Xp rRT /)~ (2. ) exp RT
—26830
K| = exp (— + 30.114)
S
4400
Ky = exp( - 4.036)
Ts
K = KiKy
PH,0
Q=1+Kcopco + Ku,Pu, + Ken,Pen, + Ku,o N
2

—AH;
K; = Kyiexp RT
g

(B.1)

(B.2)

(B.3)

(B.4)

(B.5)

(B.6)

(B.7)

(B.8)

(B.9)

(B.10)

(B.11)
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