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ABSTRACT

The performance of a trickle-bed reactor is affécteot only by reaction kinetics,
pressure, and temperature, but also by reactorolydamics, which are commonly
described by means of global parameters such asyreedrop, liquid holdup, dispersion
of gas and liquid phases, catalyst wetting, andsrasd heat-transfer coefficients. Due to
the complicated nature of trickle-bed reactor hggramics, there is no straightforward
method for the scale-up of these parameters franorddory to industrial scale. Scale-up
has therefore been based on a combination of eiffeprocedures: 1) constant
dimensionless groups, 2) mathematical modeling,3milot planting. In general, not all
dimensionless groups can be kept constant andldating is both time-consuming and
expensive. Thus mathematical modeling is an intieigption for the design of new
trickle-bed reactors. In addition, mathematical mledcan be used in performance and
sensitivity analysis. In this work mathematical ralzdhave been developed for pressure
drop, liquid holdup, dispersion, and catalyst wegtefficiency and different modeling
options are also discussed.

Global pressure drop and liquid holdup can be edtdhfrom the gas-liquid-solid phase
interaction models by formulating a simplified mas&l momentum equation for gas and
liquid phase. New improved phase interaction modielge been developed assuming
uniformly distributed gas and liquid flows. Althdugt is assumed that the liquid is

distributed uniformly, the perfect wetting of thatalyst is not assumed. A new model for
liquid-solid wetting efficiency has been develomashcurrently with the phase interaction
models. The liquid-solid wetting efficiency is useddetermine the significance of gas-
liquid, liquid-solid and gas-solid phase interanio Phase interaction and wetting
efficiency model parameters have been optimizednaga large experimental database
for pressure drop, liquid holdup, and wetting eficy.

CFD is used to model phase dispersion in non-umifgas and liquid flow conditions,
where plug flow cannot be assumed. Spreading iuatitd to three separate factors:
overloading, mechanical dispersion, and capillaspetsion. The first of the spreading
mechanisms derives from the phase interactionsdaed not require a separate model.
New models have been developed for mechanical amlllary dispersion. The
performance of the dispersion models is discussethe basis of multiple case studies.
The ability of the hydrodynamic model developedehisr compared to liquid dispersion
experiments from four different literature sourcascluding the author's own
experiments.

In addition to CFD modeling, an alternative, poi&ntbol for liquid distribution studies is
also presented — the cellular automata model. Thamkingle event modeling, a cellular
automata model is simpler and thus faster and woelbetter suited for the modeling of
larger reactors, when information on pressure drapliquid holdup is not required.



TIIVISTELMA

Triklekerrosreaktorin toimintaan vaikuttaa realdtoretiikan, paineen ja lampdtilan
lisdksi myos reaktorin hydrodynamiikka. Tavallise$tydrodynamiikkaa kuvataan

globaalien parametrien avulla: painehavio, reaktarestesisalté (holdup), kaasun ja
nesteen leviaminen (dispersio), katalyytin kastiemin sekd massan- ja
lammonsiirtokertoimet.  Koska  hydrodynamiikalla  on enkittdvd  vaikutus

triklekerrosreaktoreiden toimintaan, edella maingiarametrit pyritdén pitamaan vakiona
reaktorin kokoa kasvatettaessa. Tahan ei kuitenkaln olemassa suoraviivaista
menetelmda hydrodynamiikan monimutkaisuuden vuoKEiiklekerrosreaktoreiden

mittakaavan muunnos (scale-up) tehdaénkin tavatlisgi menetelmien yhdistelména,
joita ovat 1) dimensiottomien ryhmien pitdminen izgla, 2) matemaattinen mallinnus ja
3) tutkimus eri kokoluokan koelaitteistoilla (pilgianting). Kaikkien dimensiottomien
ryhmien pitdminen vakiona samanaikaisesti ei oléekldaan yleensd mahdollista ja
tutkimus eri kokoluokan koelaitteistoilla on sekliaa vievaa etta kallista, mink& vuoksi
matemaattinen mallinnus on kiinnostava vaihtoehtssian triklekerrosreaktoreiden
suunnittelutydkaluna. Matemaattisten mallien kaywd mydskédan rajoitu uusien
reaktoreiden suunnitteluun, vaan mallinnusta vaid&ayttdd myds suorituskyky- ja
herkkyysanalyyseihin. Tassa vaitoskirjassa on kit matemaattiset mallit

painehavidlle, reaktorin nestesisallolle, dispdisio sekd katalyytin kastumisen
tehokkuudelle  (wetting  efficiency).  Lisaksi  tyossdon  keskusteltu eri

mallinnusvaihtoehdoista.

Triklekerrosreaktorin painehaviolle ja nestesidididvoidaan laskea arvio kaasu-neste-
kiinted vuorovaikutusvoimien perusteella muodosttarensin yksinkertaistetut massa- ja
likemaarayhtalot kaasulle ja nesteelle. Kehitett@ie malleja kaasu-neste-kiinted
vuorovaikutusvoimille on oletettu, ettd kaasu jataeovat tasaisesti jakautuneet reaktorin
poikkipinta-alalle, mutta katalyytti ei valttdmattie taydellisesti kastunut. Uusi malli
katalyytin kastumisen tehokkuudelle kehitettiin semamikaisesti vuorovaikutusvoimien
kanssa. Katalyytin kastumisen tehokkuus maaritteésesu-neste, neste-kiinted ja kaasu-
kiinted vuorovaikutuksien suhteellisen osuuden. liglalparametrit on optimoitu laajan
mittaustietokannan perusteella, joka sisalsi mitidoksia painehavidsta, nestesisallosta
ja katalyytin kastumisosuudesta, useista eri kisjalislahteista.

Faasien leviamistd, kun kaasu- ja nestevirtauksett cepatasaisesti jakautuneet,
mallinnettiin Fluent-virtauslaskentaohjelmistolfaasien levidmisen katsottiin aiheutuvan
kolmen eri mekanismin vaikutuksesta: liikakuormiteverloading), mekaaninen
dispersio ja kapillaaridispersio. Liikakuormitus haiituu  kaasu-neste-kiintea
vuorovaikutusvoimista eikd tarvitse erillista disgiemallia. Uudet dispersiomallit
kehitettiin mekaaniselle ja kapillaaridispersiollBispersiomallien toimintaa arvioitiin
useiden simulointitapausten perusteella — mallimustamaa nesteenjakautumista
verrattiin mittauksiin neljasta eri kirjallisuusk@#estd, mukaan lukien omat mittaukset.

Virtauslaskentaohjelmistojen kayton lisaksi esitelinyds toinen potentiaalinen tydkalu
nesteen jakautumisen tutkimiseen — soluautomadlitifo@llular automata model). Mallin
rakenne on perinteisia virtauslaskentaohjelmistgiainkertaisempi ja nopeampi. Se
soveltuisi ndin ollen paremmin suurempien reakt®mei nesteenjakautumisen
tutkimiseen, kun tieto painehavidsta ja nestedistil ei ole tarpeellista.
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1. INTRODUCTION

Trickle-bed reactors are three-phase reactors wigas and liquid flow either

concurrently or countercurrently through a packed bf catalyst, with the liquid flowing

downwards. In this thesis the focus is on the coeotl mode of operation. Examples of
large industrial applications are, for example, thalrodesulfurization and catalytic
hydrodenitrification of crude oil fractions in ofefining, the oxidative treatment of
wastewater, and the historically important synthesi 2-butyne-1,4-diol from acetylene
and formaldehyde (Westerterp and Wammes 2005).

The performance of a trickle-bed reactor is notlgatietermined by the reaction kinetics
and chosen operation pressure and temperaturdditioa, reactor hydrodynamics have a
strong influence on conversion, yield, and selétgti\Hydrodynamics can be described by
means of global hydrodynamic parameters, such asspre drop, liquid holdup,
dispersion of fluid phases, liquid-solid wettingig@éncy, flow regime, and mass and
heat-transfer coefficients.

In the course of the current work, the performaotéhe current hydrodynamic models
has been analyzed. As a consequence, it has bggessed that in more complicated flow
situations, where uniform liquid distribution catrie assumed, gas-liquid-solid phase
interaction models alone do not describe the redtydrodynamics sufficiently well.
Models for liquid dispersion are required in additi A liquid point feed may be
mentioned as a simple example of non-uniform liqélmy. The development and
validation of these phase interaction and dispersimdels constitute the core of this
dissertation. An outline of the work done withimstthesis is summarized below:
= Observation of the liquid flow behavior in an expeental setup, which initiated
the development of the cellular automata modeliéuid distribution in trickle-
bed reactors [l]
= A thorough analysis of hydrodynamic models forkiiéebed reactors in literature
is performed. As a result, new phase interactiondet® based on local
hydrodynamics are developed, which includes a nowatept of phase-specific
tortuosities and a new liquid-solid wetting efficey model [I1], [11].
= The phase interaction models alone are insufficitat describing liquid
spreading in more complicated flow situations, sasHiquid point source feed.
Liquid spreading is attributed to three mechanismsgerloading, capillary
dispersion, and mechanical dispersion. This imtiahe development of micro-
scale dispersion models for CFD simulations andvtilelation of these models
against literature and the author's own experimetdta [1V], [V], [VI].



2. BACKGROUND

2.1 Phase interactions

A model for the two-phase pressure drop and liduttlup in trickle-bed reactors was
developed in papers [ll] and [lll]. Earlier modeiscluded various empirical and

phenomenological/semi-empirical models (Table 1llth@ugh the models have been
improved over the last few decades, there isrg#ld for further improvements due to the
complex nature of the three-phase flow. The basraach behind all phenomenological
hydrodynamic models is similar — separate moda<anstructed for the gas-liquid-solid
phase interactions and those models are then iedlidthe momentum equations of gas
and liquid.

Table 1. Hydrodynamics models for trickle-bed reaatrs.

Approach | Authors | Model basis | Additional remarks

Empirical models for liquid holdup and/or pressure drop

Specchia and Baldi (1977) Pressure drop and liquid holdup
Rao et al. (1983)

Larachi et al. (1991)

Wammes et al. (1991)

Wammes and Westerterp (1991)
Pinna et al. (2001)

Tosun (1984) Pressure drop
Sai and Varma (1987)
Ellman et al. (1988)
Ratnam et al. (1993)

Sai and Varma (1988) Liquid holdup
Ellman et al. (1990)
Burghardt et al. (1995)
Fu and Tan (1996)
Bensetiti et al. (1997)
Xiao et al. (2000)

Phenomenological models

Séez and Carbonell (1985) Relative Gas-liquid interaction force is not included
permeability

Tung and Dhir (1988), Gas and Models are derived based on the gas and

Benkrid et al. (1997) liquid phase | liquid phase force balances

Attou et al. (1999), force balance Apart from Benkrid et al. (1997). models

Narasimhan et al. (2002) include a twofold consideration of gas-liquid

and gas-solid interactions

In Benkrid et al. (1997) a separate liquid
holdup model is required in high interaction
regime

Fourar et al. (2001) F-function The superficialdl velocity of each fluid
is multiplied by a phase-specific F-function
that depends on fluid saturation

Gas-solid and gas-liquid interactions are
not separated, making the model suitable
only for uniform flow situations

Holub et al. (1992, 1993), Slit approach Local flow is modeled inside a simple
Al-Dahhan and Duduko¥i(1994) rectangular slit, instead of more complicated
Al-Dahhan et al. (1998), averaged equations of motion

lliuta and Larachi (1999, 2005) More sophisticated versions also predict
lliuta et al. (20004, 2000b) the wetting efficiency

3
Neural network correlation
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Figure 1. Phase interactions in gas-liquid flow though a packed bed. 1) The particles are
covered with a flowing liquid film — the phase inteactions present are the gas-liquid and the
liquid-solid. 2) Particles are dry or merely covere with a stagnant liquid film — only
the gas-solid interaction force is present.

Here the phase interactions are included on thés ldsthe wetting efficiency of the
catalyst, as presented in Figure 1. The wettingieffcy is here defined as the fraction of
the catalyst covered with a flowing liquid film. the wetted parts of the catalyst, the gas-
liquid and liquid-solid interactions are presemt.the non-wetted parts of the catalyst,
only the gas-solid phase interaction is presergindilar approach has also been suggested
by lliuta and Larachi (2005). If the catalyst istily wetted, the phase interactions are
included in proportion as presented in equatiohsuid (5).

2.2 Wetting efficiency

A wetting efficiency model was developed in papdt, [simultaneously with the phase
interaction models. Wetting efficiency describes fitaction of the catalyst covered with a
flowing liquid film. It is used to calculate thet& interaction forces from the gas-liquid-
solid phase interaction forces, see equations r{d) (&). Literature models for wetting
efficiency are presented in Table 2. The majorityhe literature models are developed
based on a relatively small wetting efficiency thaise and only in the slit-models has the
wetting efficiency model been developed simultasgowith the gas-liquid-solid phase
interaction models.



Table 2. Literature correlations for the wetting eficiency, f..

Source Correlation
Al-Dahhan and Dudukovi¢ /9
(1995) f,=1104Re, )”3{“[(”’/ ALY pqu
« Tracer method Ga,
« High pressure
* No external data
Alicilar et al. (1994) 25.353
- Tracer method fo=1- Re™
* No external data
180> Re >35
Burghardt et al. (1995) 7\ 0512
+ Tracer method f, = 338R? ReG°'°83[dp3 gI';LJ
« Only one gas-liquid system, L

generalization based on an
analogy with typical
correlation for wetting
efficiency

* No external data

El-Hisnawi et al. (1982) f, = 1617Re G ™
¢ Tracer method = 10253?1;::

g%ggri\lez-Mendizabal etal. f = l—exp{— 42650107 (Re’L )0'745(Re:3 )0.079J

« Reagction rate method 6.71<Re| <11790 3200<Re; <20419

Herskowitz (1981)
* Reaction rate method

f. =1301+0.0739n %
* Measurements in Herskowitz

et al. (1979) 1 00002 < UL < 001m/s
Herskowitz and Smith (1983) L, 01
» The background of the fo= O.77(k / 2)
correlation was not reported g/ms
Kundu et al. (2003) _2F, +(Fog)oried +€lo 97 —dp/dz - 6,{g7 - 2dp/dZ
+ Based on the model presentedfe - (F ) —(F )
in Pironti et a|. (1999) PL /L-filled PG /G-filled

* Model performance is
strongly affected by the {(‘ dp/ dZ)L—filled + PLQT}‘E = (FPL)L—ﬁIIed
performance of the two-phase
hydrodynamic model and by {(_ dp/dz)e—fined + pGgr}a = (FPG )G—filled

the Ergun parameters
{(_ dp/dZ)+ pLgT}(l_ a)E = FPL - FI

The particle-fluid interaction forces;p, the liquid-gas interfacial

dragF, and the tortuosityr, are calculated based on Narasimhan et
al. (2002)

The Ergun equation is used for the one-phase mesisap




Table 2 (continued)

Source Correlation
Larachi et al. (2001) f, = 083"+ 017
« Neural network correlation
1/s”=1+ex Zw H. }

IYH, =1+ex —Zagjuim}
i=1

ThenormalizednputgroupsU,”’)andconnectiviy weights{c)
arepresentedh Table3of thecorresponthg reference

Mills and Dudukovi¢ (1981) D

* Tracer method
« 5 parameters were fitted

based on only 26 data points ~ d2)/em) %%
« No external data = 1-0‘9Xﬁ{‘ 135Ref'333(|:f5 )0'235(Wef) wo[(% ;2/ J

=tan

l;|

0. 664Re<L) 333( )0 195(WeE )0.171( (axdﬁ)/cm]'o'om]

52

Ring and Missen (1991) D U 0635
« Tracer method fo= =% =1-ex —112{L J
* No external data Die m/s

2.3 Liquid dispersion

In a two-phase flow through a packed bed, dispersinses from three mechanisms:
overloading, capillary dispersion, and mechanicapersion. The mechanisms are
summarized below and the flow parameters affeatimgh dispersion force are reviewed
in Table 3.

Overloading occursif the local liquid flow exceeds the local capacif the
catalyst bed. If the flow is uniform, an increasethie overall pressure drop is
observed, but if the capacity is exceeded only Ilpcdiquid will spread
sideways to minimize the pressure drop, and oveimgaoccurs. Overloading
appears usually at the top of the bed, right aftediquid distributor (Hoek et al.
1986; Porter et al. 1978). Since overloading isseduby a two-phase pressure
drop, it results from the total interaction forée<CFD simulations.

Mechanical dispersionresults from the variation of the small-scale e#io
profiles in porous structures. Fluctuation of thienmscopic streamlines in space
with respect to the mean direction of the flow emughe flow to spread both
horizontally and longitudinally (Bear 1979). Thentptudinal dispersion
manifests itself through residence time distribogioand the transverse
dispersion can be observed as the horizontal sipigpati flow.

Capillary dispersion is caused by the differences in the local capillar
pressures, i.e. capillary pressure gradients. (@apildispersion is more



pronounced with low porosities and small particiezes when the capillary
pressure is also higher. However, since capillapsgure increases steeply as
liquid saturation approaches zero, it will alwaygain high values if the liquid
saturation is low enough.

Table 3. Flow parameters affecting the dispersionadfrces. Inverse — dispersion increases as the
parameter decreases; Neutral — the parameter has neffect; Direct — dispersion increases as the
parameter increases; Unclassified — the effect hast been researched or is inconclusive.

Dispersion Effect
mechanism Inverse Neutral Direct Unclassified
Overloading Particle size Liquid velocity Gas velocity
Porosity Particle shape
Mechanical Liquid velocity Particle size Particle shape
dispersion Gas velocity Porosity
Capillary Particle size Liquid velocity Particle shape
dispersion Porosity Gas velocity

The phase interaction forces

alone are sufficienttfickle-bed reactor modeling only

when the flow is uniform radially. In more complied situations, such as a point liquid
source, the phase interaction forces fail to ptetiie extent of liquid spreading. Recently
Atta et al. (2007) performed liquid dispersion slations with CFD using a porous media
concept without any additional dispersive forcelBey compared the simulations to the
experimental results of Herskowitz and Smith (1951&) Marcandelli (1999). The model
performed well in the case of a multi-orifice liqudlistributor. However, the simulation
results for a single-orifice liquid distributor sked significant spreading only in the first
case, where the column-to-particle diameter rats wery low (~12) and a radial porosity
profile was applied. In the latter case, where ¢bkimn-to-particle diameter ratio was
150, the simulated liquid spreading was signifiaigss than the experimental one. It
can be assumed that the modeled dispersion waslymzdused by wall flow and
overloading. As a conclusion, the authors encoutagark on the incorporation of micro-
scale details into macro-scale models for imprdigadd dispersion predictions.

Simulations of liquid dispersion due to capillamegsure gradients have been reported,
for example, by Boyer et al. (2005) and Jiang et(&999). As regards mechanical
dispersion, CFD simulations have been performed dotracer, where a separate
convection-diffusion equation has been solved fier tracer phase (Gunjal et al. 2003a;
Schnitzlein 2001; Yin et al. 2002). Prior to thi®nk, there has not been a single CFD
model for the mechanical dispersion of liquid. Herarious other approaches have been
used thus far, including mathematical models (Pkatti al., 1975), random walk methods
(Barnett, 1975; Hoek et al., 1986; Maier et al.020Marchot et al., 1992; Porter 1968;
Sahimi et al.,, 1986a,b; Scott, 1935), network medélerskowitz and Smith, 1978;
Saroha et al., 1998), and automata models (Yang.et1998). In paper [l] we also
presented an automata model for liquid flow simarts.



3. EXPERIMENTS

3.1 Trickle-bed experiments

The experimental set-up consisted of a rectangidarmn, gas and liquid distributors,
and a liquid collector device. The column had a&2bx 5 cm cross-sectional area and its
packed height could be altered from 25 to 100 crschematic presentation of the set-up
is presented in Figure 2. Gas and liquid were duoed into the column from the top and
their flow rates were recorded with mass flow metdioshiba 191A5511 and Sensyflow
eco, respectively. Gas was distributed to the calt@innough two parallel pipes that both
had 10 equidistant g 4 mm orifices. The liquidritisttor was alterable. The liquid flow
was circulated to the liquid feed tank from thetbwot of the column unless it was
redirected to the liquid collector for flow rate aseirements.

The bed was packed by slowly pouring the particiesthe bed. The bed was also shaken
from the sides to ensure the uniform packing ofghdicles. This also consolidated the
bed to some extent. The packing density was detetsinby weighing. Measurements
were started by first prewetting the bed with tlselo-Kan or Kan-prewetting method,
depending on the circumstances. After prewetting,gas flow rate was set to the desired
value and the system was allowed to stabilize foua 20 minutes before measurements.

DATA
COLLECTION

GAS LINE

LIQUID SEPARATOR —_—

LiQuUID

Figure 2. Schematic presentation of the experimentaetup used in the trickle-bed experiments.

3.2 Standard deviation of porosity

The standard deviation of porosity describes howmmthe porous structure deviates from
a uniform structure. In CFD modeling, standard dgon has been used to generate
natural randomness in the generated porosity pr¢funjal et al. 2005; Gunjal and
Ranade 2007; Jiang et al. 2002). If used so, howdvehould noted that the standard
deviation should be dependent on the cell dimession
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Figure 3. Effect of the experimental sample size ahe standard deviation of porosity.

We used equipment similar to that presented by iBkrkt al. (1992) to examine the
dependence between the standard deviation of pyrasd cell size. The equipment
allowed us to measure the volume-averaged standiewdhtion, but unfortunately we
could only change one dimension of the volume -higight. Two types of particles were
used in the experiments: g 2 mm and @ 4 mm gldssrep. From the results, it was
observed that the particle size or the mean pgradil not significantly affect the
standard deviation of porosity (the latter obs@oratan also be seen from the results of
Borkink et al. (1992)). Instead, it was found thtfa¢ standard deviation of porosity was
dominated by the height of the sampleas presented in Figure 3.

Based on these experiments, the volume-averagediasth deviation of porosity was
estimated to depend on the sample heightyhich was the smallest dimension of the
volume:

L —-0.805
o, = 0.022() Q)
cm
Borkink et al. (1992) obtained standard deviatibasveen 0.032 and 0.057 for g 9.7 mm
spheres in a cylindrical bed with an inner diamefe50 mm. The sample height in their
measurements was approximately 0.5 cm. From equétjoa standard deviation of 0.38
is obtained withL = 0.5 cm, which is consistent with the measuremeh®orkink et al.
(1992). Since the cross-sectional area of the hedii experiments was more than 6 times
greater than that in Borkink et al. (1992), it veasicluded that the sample volume could
not be the determining factor for the standard até, but that it should be the smallest
dimension of the cell instead. This approach shbeldalid as long as cells contain both
void spaces and particles.



4. HYDRODYNAMIC MODEL FOR TRICKLE-BED REACTORS

In computational fluid dynamics (CFD), the followinconservation of mass and
momentum equations are applied for gas and ligbakes in the case of gas-liquid flow
through a porous medium:

9
ot

0 N o N _ _

a (gkpkuk) +0 [ﬂgkpkukuk) =6.uA M, -6Up+ 6,00+ Fint,k + Fdispk (3

(ekpk)+ O [ﬂekpkuk)zo (2

Variables for phask are the volume fractiorg,, density,o, viscosity, /&, and interstitial
velocity, U, . Pressurep, and the gravitational acceleration forag, are shared by alll
phases. The momentum source tel’lh__‘.ﬁ’k and Ifdispk, refer to the total interaction force
and to the total dispersion force for ph&seespectively.

4.1 The total interaction force

The total interaction force is a combination of-jgsid, liquid-solid, and gas-solid phase
interactions. It is written for gas and liquid paass follows [l11]:

Fim,G =—f.Fs — (l_ fe)FGS (4)
Fint,L = fe(FGL - FLS) )
whereF; is the phase interaction force between phaseslj. The wetting efficiencyfe,

describes the fraction of the catalyst surface Viith a flowing liquid film. The phase
interactions are written as follows [II],[I]:
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Fos = Kgslly = g1 —48—— 2= —C +—2 U (8)
GS GS G{ gédrz) ngp

KGS

In equations (7) and (8)J; is the modified gas velocity. It is assumed thaew liquid
accumulates at the particle-particle contact poitite throats at the particle interstices
become more and more narrow, resulting i/a times higher gas flow rate in these

throats than the bed average. Since gas-liquid ligid-solid phase interactions are
thought to be confined in these throats, the gaxitg is modified [l1].



Table 4. Summary of the experimental database used the development of the tortuosity and wetting

efficiency models.

Number of

Variable data points

Literature sources

Dimensionless pressure drop 252

Al-Dahhan and Dand¢K1994); lliuta et al. (1996);
lliuta and Thyrion (1997); Larachi et al. (1991);
Specchia and Baldi (1977); Urseanu et al. (2005);
Wammes et al. (1991)

Liguid saturation 405

Al-Dahhan and Duduk&€y1994); Burghardt et al.
(1995); Colombo et al. (1976); Gladden et al. (2003
lliuta et al. (1996); lliuta and Thyrion (1997); kata
and Levec (1990); Larachi et al. (1991); Leveclet a
(1986); Pironti et al. (1999); Ring and Missen (199
Specchia and Baldi (1977); Wammes et al. (1991)

Wetting efficiency 353

Al-Dahhan and Dudukéyl995); Baussaron et al.
(2007); Colombo et al. (1976); Kundu et al. (2003);
Lakota and Levec (1990); Ring and Missen (1989);
Ring and Missen (1991)

Table 5. Operation conditions of the measurementssed in the model optimization.

et | Holdupdata | il 0

Temperature [K] 286 — 298 286 — 350 286 — 370
Pressure [bar] 1- 60 1-100 1-100
Liquid density [kg/m] 663 - 1204 663 - 1204 651- 1000
Liquid viscosity pPas] 307 — 35249 307 — 32723 292.1 -1200
Gas density (operation conditions) [kgm 1.19-69.9 1.18 -69.9 1.18 -58.4
Gas viscosityjiPas] 17.0-19.5 14.2-195 14.0-18.4
Surface tension [N/m] 0.018 - 0.073 0.01 -0.076 0106- 0.073
Particle diameter [mm] 1.14-54 1-6 1.0- 73
Bed porosity [ ] 0.35-0.46 0.3-0.46 0.31-0.53
Liquid superficial mass flow rate [kg/és)] 0.63-15.0 0.09-46.4 0.09-13.7
Gas superficial mass flow rate [kg/As)i 0.01-7.7 0-77 0-4.2
Bed diameter [cm] 22-8.0 22-17.2 22-17.2

0 =l /a 9)

E,« andE,x are the phase-specific Ergun parameters. Thewatdor the changes in the
tortuosities experienced by gas and liquid duehtofiresence of the other phase in the
spirit of the slit models (Holub 1990):

(10)
(11)

E, = 7217
E,. =6fT.
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The models for the liquid-solid wetting efficiencys, and for the phase-specific
tortuosities, T, andTg, were developed in papers [ll] and [ll]] basedamexperimental
dataset, which is summarized in Table 4. The rafgde operation parameters in this
dataset is presented in Table 5.

4.1.1 Phase-specific tortuosity models

On the basis of the idea that tortuosity is depahda phase volume fractions in the bed,
phase-fraction-dependent tortuosity models wersemted for gas and liquid phases in
paper [ll]. After some revision to the liquid phasertuosity model, the following
equations were introduced for gas and liquid tasities in paper [l1]:

+ +
T, =T02 l+a[T°2 1—1} (12)
T =T,Al") (13)

where parameter8 and B are 3.592 and 1.140, respectively [lll]. In priplei, phase-
specific tortuosities are affected by the presarfdbe second phase so that the tortuosity
for the gas phase is always less than and theowityufor the liquid phase is always
greater than the tortuosity in one-phase flow. Tihisonsistent with trickle flow where
liquid flows along the particles, whereas gas flawshe particle interstices. The empty
bed tortuosity;To, and the friction factorf; can be calculated from the one-phase Ergun
parameters according to equations (10) and (11).

4.1.2 Wetting efficiency model

Van de Merwe and Nicol (2005) identified three pettimg methods often used in
experimental trickle-bed reactors:
* Non-prewetted bed
Experiments are started off with an originally thed.
» Levec-prewetted bed
The bed is flooded and then allowed to drain cotepldefore experiments.
» Kan-prewetted bed
Experiments are started off by operating the bea pulsing flow regime after
which the gas and liquid flow rates are reducetthéodesired values.
* Pseudo-Kan-prewetted bed (referred to also as a sepprewetted bed by
Loudon et al. 2006)
If a pulsing flow cannot be achieved (no gas feedrdy local liquid feed), a
pseudo-Kan-prewetted bed can be achieved by flgatie bed as in the Levec-
prewetting method, but then commencing liquid fl@imultaneously with
draining; i.e. the column drains while under irtiga.

The selection of prewetting method has a signifiedfect on trickle-bed hydrodynamics.
It has been found that flow is more uniform in @&wetted bed (Lutran et al. 1991;
Ravindra et al. 1997; Sederman and Gladden 200&we®ing does not, however,
guarantee uniform flow. Also, the prewetting meth®gignificant: a Kan-prewetted bed
is characterized by a film flow whereas a Leveoamtted bed is characterized by a pore-
rivulet flow surrounded by a film flow (van Houwegien 2006; van Houwelingen et al.
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2006; van de Merwe and Nicol 2005). It was repoited/an Houwelingen (2006) and
van Houwelingen et al. (2006), that wetting effigies in Kan- and Levec-prewetted
beds are different and that the difference is lavgénh low liquid velocities. Thus it was
concluded in paper [lll] that a wetting efficienayodel should be fitted for a specific
prewetting method.

The wetting efficiency model in paper [lll] was ddoped for Kan-prewetted (Kan and
Greenfield 1978), or equivalent, flow conditionsn& the hydrodynamic model is
affected by the wetting efficiency model predic8pnhe wetting efficiency model was
developed simultaneously with the hydrodynamic nhodéwus, instead of simply
considering how the wetting efficiency model penfied as regards the wetting efficiency
database, it was also considered how well the dvieydrodynamic model performed
regarding the pressure drop and liquid saturataialzhses.

Since wetting efficiency is too complex a phenommerto be modeled solely on

phenomenological reasoning, a mechanistic modaledan dimensionless similitude,
was used with some adjustable parameters. The diordess similitude enhances the
predictive capabilities of the model, if used odésthe realm of the experimental area
used for fitting. The search for the optimal weitigfficiency model was begun with only
one dimensional group. The number of dimensionigssups was then gradually

increased, until the model provided a good fit he texperimental data and also
reproduced properly all the known trends of wetgfiiciency. The latter was considered
significant if the model is to be used out of theemation range used in the model
development. Details of the optimization procesgsraported in paper [II].

fe - 0.335Re'|_0'185EC')'_0'188G32'027(l+ FI’G )—0.014 (14)

4.2 Total dispersion forces

The total dispersion force for phageis a combination of mechanical and capillary
dispersion forces. The mechanical dispersion fagscacluded for both phases, but the
capillary dispersion is only included for one oétphases. Here the capillary dispersion
force is included in the momentum equation of kui

421 Capillary dispersion

When immiscible fluids (e.g. gas and liquid) costxin a system of capillaries, such as
porous media, the phases experience differentymessThe pressure differen*ce is known
as capillary pressure and is determined by thd ma®ature of the interfac&® , and by
the gas-liquid-solid surface tensiam(e.g. Dullien 1992, pp. 120-121):

20

o (15)

pC:an_pW:

wherepny andpy, are the pressures of the non-wetting and the mgefthase, respectively.
In trickle-bed reactors, gas is the non-wetting beuaid the wetting phase.
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Capillary pressure changes as the relative sabarati the wetting and the non-wetting
phases change. Thus experimental results are colypmeported as capillary pressure —
saturation curves (e.g. Bradford and Leij 1995; bechand Roberts 1991; Dodds and
Srivastava 2006; Dullien et al. 1989; Leverett 194t CFD modeling, the capillary
dispersion is implemented as a momentum sourceftarthe liquid phase:

I:Disp,L = I:(:p,L :QLDpc (16)
The capillary pressure curve can be divided intedhregimes: pendular, funicular, and
capillary. In trickle-bed reactors, the last-men&d regime is rarely encountered, and
thus a capillary pressure model suitable for tediéd reactor modeling needs to cover
only the pendular and funicular regimes. In pap¥t p capillary pressure model was

developed for spherical particles for the pendalad funicular regimes. The model is

based on an analytical analysis of the mean cuvatiithe meniscus. The filling angle at

which the transition from the funicular to the pelaat regime occurs is determined as
follows:

pc,pend(¢) = pc, fun(¢) <« ¢ = ¢tr (17)

Pendular regime

In the pendular regime, liquid is retained in pdaduings at the particle-particle contact
points. The shape of a pendular ring is determimethe two principal radiR; and Ry,
the particle radiusk, the filling angle g, and by the gas-liquid-solid contact andgle
(Figure 4):

Figure 4. Schematic presentation of a pendular ringpetween two spherical particles, wher®; and R,
are the two principle radii, R is the particle radius, @ is the filling angle and@is the gas-liquid-solid
contact angle.
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The analytical treatment of capillary pressure me tpendular regime is quite
straightforward. The mean curvature of the radRisjs obtained from the two principle
radii, R; andRy,, as follows:

1D=1(1+1J (18)
R 2(R R

If it is assumed that the liquid bridge has thexfa@f a surface of revolution of a circular
arc, equations (19) and (20) can be obtained o radii of curvature. In reality, the

shape of the liquid bridge is nodoid, but the egaused by the toroidal approximation is
less than 0.06 % (Mayer and Stowe 2005), which s#e use of the toroidal approach
acceptable.

. (1-cosp) (19)

' codg +6)

r,= —{sinqp -(- cos¢)( B tan(g + a)ﬂ (20)

_ 1
codg +6

wherer, =R /R. In equation (15) capillary pressure is definedhst a curvature radius is

positive if its center of curvature is on the noating fluid side and negative if it is on
the wetting fluid side.

The related liquid saturation can be obtained ftbm volume of liquid in the pendular
ring, V.

_ 3N (1-¢)
med

S v, (21)

where§ is liquid saturationN. is the number of particle-particle contact poifuts one
particle, £ is bed porosity, is particle diameter. The number of particle-mdeticontact
points varies as the structure of packing changssally the changes are related to bed
porosity (German 1989; Haughey and Beveridge 19é6;der Merwe et al. 2004). Since
small changes in the number of particle-particletact points have a negligible effect on
capillary pressure, a simple, linear correlatidp 01/ ¢ is used here. The correlation is

similar to the one presented by German (1989) aantkéts the contact points for simple
cubic 69 and face-centered cubicg) packings withN, = 6 and 12, respectively:

_342

Cc

N -118 & <<€, (22)

Equations for the volume of liquid in a pendulangrhave been derived by several authors
(Dallavalle 1948, p. 288; Gardner and Gardner 1@88rtzman and Roberts 1991; Likos
and Lu 2004; Mayer and Stowe 1966; Rose 1958) sdthe discrepancies among them.
In paper [1V] the following expression was preseite
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2
V, = 27R® [(rl—rz)2 +r12]X -r,(n,-r,) X /1—(?] +r1arcsi{i(j - X2} (23)
1 1

where X = (1—cos¢). The expression is consistent with the expressanilayer and

Stowe (1966) and Likos and Lu (2004) for all contangles. In the case @& = 0 the

expression is also consistent with the expressidRose (1958), in which case equation
(23) is notably simplified:

Vig-0= 2R’ {r12 [1_ (rl - rz)(n/2 - ¢)]} (24)

Since capillary pressure and liquid saturation banboth written as functions of the
filling angle, the relation between them can beregped as follows:

=2 w80 NI e

Funicular regime

In the funicular regime, capillary pressure is @iéint in drainage and imbibition. The
operation conditions in a trickle-bed reactor awuiealent to drainage, and thus
imbibition is not considered here. Capillary pressa the funicular regime, in a drainage
situation, has been found to be governed by thdleshapenings at particle interstices
(Dullien et al. 1989; Novy et al. 1989). If the fiele size and the porosity of packing are
constant, which corresponds to an ideal packing,ctpillary pressure in the funicular
regime is also constant and corresponds to a ti@mali capillary pressure. Transitional
capillary pressure refers to the capillary pressurdhe transition point from the funicular
to the pendular regime [IV]. A similar assumpticastalso been made by Carman (1956,
p. 40). Thus the capillary pressure in the funicuémime was determined based on the
liquid structures at the transition point from fla@icular to the pendular regime. This is

presented in Figure 5 for a simple culsc) (packing and for a face-centered cuber)
packing.

|:| Available flow area in the funicular region

Simple cupic packing Face cubic

Figure 5. lllustration of the available openings athe transition point from the funicular to the
pendular regime in the case of a simple cubic (I§fand face-centered cubic (right) packing.
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The hydraulic diameters corresponding to the ommnipresented in Figure 5 are
calculated from the cross-sectional ardg, and the wetted perimetes, of the flow
channel:

D,,, = o (26)
S

Since the calculation of the hydraulic diametewuiess the knowledge of pore structure, it
cannot be solved analytically for all porositigsisithus assumed that if the porositysis
or &, the pore structure will correspond to a simpleicysc or to a face-centered cubic
(fco) packing, respectively. Then for a simple culs¢ @nd a face-centered cubiicd)
packing the cross-sectional arég;, is calculated as follows:

1
A\:,sc:d;_zmi_zphf,tr (27)
d2J3 1 3
,fcc: F‘4 _gmrz)_EA:,f,tr (28)

where A¢¢y IS the cross-sectional area of liquid in a pendudlag at the funicular-to-
pendular transition point [IV]Ac: is calculated with the transition filling angig:

2
A:,f o 4(r1,tr - I’2,tr )X“' - 2rLtr X" 1_[ Xtr J

RZ
fuo (29)
) X, .
-2, arcsin) -~ |- (2¢, —sin2g, )
1tr
The length of the wetted perimeter is calculatedstoandfcc-packing as follows:
s, = RH’ZT - 2¢Uj +4(r-24, - 29)r1,ti (30)

Sfcc = RI:/{;T - 2¢trj + 3(7T_ 2¢tr - Ze)rltr:| (31)

The hydraulic diameter can then be calculated fiesé two porosities. The function
between the hydraulic diameter and porosity isiabthby assuming a linear dependency
between them:

DH = DH sc M (DH sc DH fcc) (32)
’ gsc - gfcc y y

The capillary pressure is finally obtained from ation (15) withR' = Dy/2.
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Sequential variables

In the above, a uniform pore structure, particle and porosity have been assumed. In
real applications, however, the packing structwearely uniform, and there is some

variance in the particle size and porosity. Theadations cause gas to replace liquid

sequentially, starting from the largest pores arabggating to the smallest pores. The
concept of sequential draining is consistent with basic assumptions behind pore-size
distribution measurements based on capillary preq€iarman 1956, pp. 39-41).

The local pore size is linked to the local valuéparosity and particle size — if the local
porosity and/or particle size are larger than the &verage, the pore size adjacent to them
is also likely to be larger than the average, and versa. Thus the concepts of sequential
porosity &eqand sequential particle diametglseqare used to characterize the pore size to
be drained next.

For modeling purposes the sequential variablesremeired as functions of. The
connection between liquid saturation and sequewsigables is developed on the basis of
the following reasoning. At high liquid saturatigequential behavior will cause the gas
to replace liquid first in places with large poies in places where sequential porosity
and/or particle size are larger than the averages€quently, the sequential porosity and
particle size should obtain the largest valuesaaiid saturations close to one. As liquid
saturation decreases, gas starts to replace ligoid smaller and smaller pores. Thus
sequential particle size and porosity should beedesing functions of liquid saturation.
Finally, at liquid saturations close to zero, tiguid phase is mostly confined in the
pendular rings. Since smaller particles imply higbapillary pressure, the last remainder
of the liquid will be found in the contact pointstbe smallest particles.

Sequential porosity
The density distribution of porosity in a packeddbe assumed to follow the beta
distribution function within the intervatfin, €max:

' f p-1 q-1
f(g): r(p +q) [gg_gmin ] [ggmax_g J (33)

r ( p')r (q')(gmax - gmin ) max gmin max gmin

The parametersp’ and g are chosen so that the distribution mean and negia
correspond to that of the packed bed, iee.and o,, respectively. The theoretical
boundary values fore,;,, and &, are 0.2595 (for ideal dense packing) and 1,

respectively. The use of these values will, howexesult in a density function with long
tails that consists of values that are effectidyo. It is thus profitable to choosg, and
&nax SO that the shape of the distribution is mainthitet the tails of the distribution are
cut off at the proper locations. This can be dopérhiting the values ofp’ andq' to the

maximum value ofp,... The maximum and minimum porosities can be thefaiobd
from the following equations:

Ein = ma><(0.2595£‘ —0,.2P .t 1) (34)
Eax = min(:L' E+0,4/2P, +l) (35)
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It must be emphasized that whem),, is chosen so that the density function will reach
zero at both ends, the final porosity distributionction is not affected.

The relation between sequential porosity and ligséduration can be calculated as
follows:

€seq

S (6= % [£F (e)de (36)

&

min

0.55
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0.45
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Sequential porosity []

0.30

0.25 T T T
0 0.2 04 0.6 0.8 1

Liquid saturation []

Figure 6. Sequential porosity as a function of ligid saturation. Mean porosity is 0.39 andg; is 0.034
based on equation (57)P.x is set to 7.

The effect of the remaining pendular rings on eigua36) is considered insignificant.
The average volume of liquid in pendular ringste transition point is about 4 and 6
percent of the total pore volume for smooth andyhoparticles, respectively. Thus the
volume of the remaining pendular rings at the phaticontact points is small when
compared to the volume of the liquid at the furdcustructures. An example of the
sequential porosity as a function of liquid satierais presented in Figure 6.

Sequential particle size

A simple power equation was assumed to suit theiesdaal particle size — the liquid
saturation correlation in the case of uniform péetsize distribution.

d Ay +0d S (37)

p.seq = p,min

The value for the powaer, was determined empirically based on the capilfagssure —
liquid saturation data of Dodds et al. (2006) [IV].

n=Adp/ap; Ad. =d -d

p p.max p,min

(38)
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Although the capillary pressure model was developedier an assumption of a uniform
particle size distribution, its applicability wats@ tested for the capillary pressure data
Dodds et al. (2006) had measured for mixtures dettparticle sizes. The shape of the
dp seqfunction was obtained on the basis of the dataalt found that the smallest particle
size determined the capillary pressure in the pandegime. In the funicular regime a
correlation similar to equation (37) was used, \efugi, d,> anddpys are the three particle
sizes in the mixturedy, being the smallest artizthe largest.

do S =S,

4y

d .= _ o (39)
p.seq S-S, | %

d in +Adp(1—SU:J S >S,

Capillary pressure curve for CFD

The capillary pressure model, described above,sgihe relation between capillary
pressure and liquid saturation. Capillary pressaraot, however, be written explicitly as
a function of liquid saturation i.e. ap, = f(S ). Thus an analytical fit is beneficial

before the capillary pressure model can be impleeteim CFD. Here we have used the
following type of equations in the pendular andidufar regimes:

pc, endR — ) k
o TlerkSUrgl 8<0%, (40)
pc,funR — k + k Sk7 + k Skg
— N5 6L 8~L SL > 118L tr (41)
o /

where S 1 is the liquid saturation apy, i.e. at the point where the transition from the
funicular to the pendular regime occurs. Since ¢hpillary pressure function and its
derivative have to be continuous, a third orderypomial is used between the two
regimes:

p°~[f7“ : =kyo kS + klZSE + leSLS' 098, <S <11§, (42)

The parameterk are fitted for each case separately baseB.6nS pairs that are solved
iteratively from the capillary pressure model. Thmits and the parameters of the
polynomials are chosen so that the capillary pressurve shifts smoothly between the
pendular and funicular regimes and both the capilmessure curve and its gradient are
continuous functions &3..

4.2.2 Mechanical dispersion

Mathematically, the mechanical dispersion of trader quite a well-understood
phenomenon and can be described similarly to mtaedispersion using a standard
macroscopic convection-diffusion equation. The namdtal dispersion of liquid is,
however, more complicated and there are a few wvenesl questions in connection with
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it. First of all, in Figure 7 it is demonstratedathin the case of a liquid source feed, the
mechanical dispersion force is not the only forffecsing liquid spreading. Thus in liquid
source feed dispersion experiments, mechanicabdigg cannot be separated from the
other phenomena affecting spreading and the spgeesor should be considered as a net
spread factor, including, at the minimum, the dffetthe phase interaction forces. It
might also be affected by overloading and/or capillspreading. Secondly, in liquid
dispersion, the velocity of liquid is not constabtit also has a distribution, whereas in
tracer dispersion the velocity in equation (55tagstant. Therefore, although on some
occasions similar values have been obtained fogasbfactors from tracer and liquid
dispersion experiments (Herskowitz and Smith, 19iZ8Joes not follow that the values
should necessarily be the same. Below the discoigmare considered, based on CFD
modeling.

Tracer dispersion model

A key assumption behind tracer dispersion experimmenthat the physical properties of
the tracer can be considered identical with thdgheobulk liquid phase. In other words it
is assumed that the presence of the tracer willaffett the hydrodynamics of the flow.
Thus tracer dispersion can be modeled in CFD wislegarate scalar transport equation
for species. This results in the following standamdcroscopic convection-diffusion
equation that is solved for the tracer phase (Yial.e2002; Gunjal et al., 2003):

% +0 [(HLPLGLYi,L) =0 ngLIjDYi,L) (43)

whereY; is the mass fraction of componenn the bulk phase ané and o« denote the
phase fraction and density of ph&sespectively. The applicability of such a conveati
diffusion equation on tracer dispersion has besousised and confirmed in Porter (1968)
and Sahimi et al. (1986a,b), and the referencesithe

Most of the commercial CFD programs include a gggetiansport model and the user is
required simply to add the diffusion coefficieBt,= Dy, + Dyech Which simplifies to the
mechanical dispersion coefficier®: = Dmech With @ high enough Péclet number (Coelho
and Guedes de Carvalho 1988; Ligny 1970).

Liquid dispersion model

A model for the mechanical dispersion of liquid waesented in paper [V]. Since the
standard multiphase equations solved in CFD argatbusing mass-weighted averaging
of instantaneous local equations, diffusion-typente do not appear in the continuity
equations. Instead, the correct way to introdud®iglon is to add dispersion forces into
the momentum equations. This can be understoodh@rbasis that momentum is also
transferred in a multiphase dispersion.

The hydrodynamic dispersion results from the véiesiperpendicular to the main flow
caused by the tortuous bed structure. The dispeferce is obtained by multiplying this
lateral drift velocity by the appropriate momenteschange coefficient. Assuming that
the x-axis is perpendicular to the main flow direat the dispersion forces in the x-
direction can be written as presented in equaiiédsand (45).
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TRACER DISPERSION LIQUID DISPERSION
Uniform liquid flow rate Non-uniform liquid flow rate
No Overloading Possible overloading

Figure 7. Forces affecting spreading in case of ligd and tracer dispersion in trickle-bed reactors.

FDX,G = (1_ fe)KGSuDX,G + feKGL (qu,G _qu,L) (44)
FDX,L = feKLSqu,L - feKGL(qu,G _qu,L) (45)

whereK s, KgL andKgs are the momentum exchange coefficients in equati6h— (8)
and u, , is thex-component of the drift velocity, , for phasek. The form of F, , is
exactly the same as that Efnt,k in (4) and (5). The symmetry with respect to thogild

and gas phases ensures that the liquid dispersies dot result in a net force on the
system. The gas-solid and liquid-solid forces alarticed by the immobile solid phase.

The drift velocities are defined by writing thefdgion mass flux a#, p,up, - Based on

the Fickian assumption, the drift velocities areerthobtained from the following
expressions:

quI'I,G aHG
Uy o =-—1el%% 46
0,.G 9 ox (46)
qUn,L‘ a6
u, , =-— o 47
DL 8 ox (47)

where u); is the part parallel to the main flow of the meetif gas velocity that was
defined in equation (9) arfflis the spread factor.

The above model for mechanical dispersion has bieed in papers [V] and [VI]. The
model can, however, be generalized for the caseeniguid flow is not parallel to the
main flow. In this case drift velocity should beoportional to the projection of the
gradient of the volume fraction to the plane oribrtg to the liquid velocity. From the
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geometrical consideration in 2D and 3D, the follogvexpressions can be obtained for the
drift velocities of gas and liquid:

S u

Up, :_HL|:|UL |D6L_(ULDDHL)|U:: |:| (48)
S , , u;

Upg = —{| Us |06 = (ug M) —= } (49)
s |ug |

In the general case the structure of the dispeffsicnes remain the same as in equations
(44) and (45). In the cases simulated in papersdhd [VI], the vertical flow was
dominant. Since the generalized model coincides e previous one if the flow has
only one direction, the results with the generatletdiffer only slightly from the current
results.
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5. MODEL VALIDATION

5.1 Phase interaction model

The two-phase pressure drop model was validateidstghe experimental data presented
in Table 4. In addition, its performance has beempmared to the performance of other
literature models [lll]. The performance of the metedlwas evaluated on the basis of a
selection of statistical numbers, which are presgbelow.

The mean relative error describes the overall eesst of the fit between the model
predictions and the experimental results. The Walg expression is used fo(rex>,
wherel+ X, is used as a denominator to prevent the over-emphasis ainthllest
measured values.

(50)

100% < Xex i xcaci
(o) =20 X Ko

N 4| 1+ X,
The sum of all errors is used to examine whethermiodel is biased. For an unbiased
model B(X ) should be close to zero.

B(X) = ZN: (Xexpj - Xcalc,i ) (51)

Z|~

The standard deviation of the relative error arotirmean relative erro8TD, can be
used to compare the ability of the models to dbsccorrectly the trend of the modeled

property.

calc,i

— 19 ‘xeXpi_x
STR =100 N—lzll[ 1+ X

(e >] (52)

ool |

5.1.1 Pressuredrop and liquid holdup

By assuming a one-dimensional flow, steady-stateraijpn, and no mass transfer
between phases, the two-phase pressure drop and ligldup can be solved from the
simplified momentum balances for gas and liquitl [II

AP Fint
- = + — 53
AL P 6, (43)
AP Fie
— = + 0= 54
AL Pl 0, (54)

whereFin i is calculated from the phase interaction forcegigons (6)—(8)). The model
parameters were optimized against 252 dimensionpesssure drop and 405 liquid
saturation data points (see Table 4) in paper. [Myich of the research on trickle-bed
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Figure 8. Parity plot between the modeled and meased dimensionless pressure drops. Data
used in the optimization: 4) Al-Dahhan and Dudukovi¢ (1994), ) lliuta et al. (1996), ¢) lliuta
and Thyrion (1997), \») Larachi et al. (1991), ) Specchia and Baldi (1997),-) Urseanu et al.

(2005), and ®) Wammes et al. (1991). Additional data:4) Clements and Schmidt (1980),
() Rao et al. (1983
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Figure 9 . Parity plot between the modeled and meaeed liquid saturations. Data used in the
optimization: (4) Al-Dahhan and Dudukovi¢ (1994), ¥) Burghardt et al. (1995), ) Colombo et
al. (1976), ¢) Gladden et al. (2003),<) lliuta et al. (1996), #) lliuta and Thyrion (1997), (»)
Lakota and Levec (1990), ) Larachi et al. (1991), £) Levec et al. (1986),0) Pironti et al.
(1999), £) Ring and Missen (1991),s) Specchia and Baldi (1997),m) Wammes et al. (1991).
Additional data: (<) Clements and Schmidt (1980).
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hydrodynamics has been performed at atmospherssyre, in a small column with a low
column to particle diameter ratio without propernti@n of the prewetting method. This
makes the collection of a dataset for model devekg quite challenging, since the same
operational parameters can result in various diffehydrodynamic states (Loudon et al.
2006). The problem is more significant in the cabpressure drop, when the affect can
be manifold. In the current study, the experimedtthbase was chosen so that it would
contain a significant amount of non air-water, abatmospheric pressure, large enough
column-to-particle diameter ratio data. Multipleggestions for sufficient column-to-
particle diameter ratios have been offered in itleedture (Saroha et al. 1998). Westerterp
and Wammes (2005) set 15 as a rule of thumb valuth& wall flow to be insignificant.

In pressure drop and liquid saturation databasesofumn-to-particle diameter ratio is
over 10 for 98 % and over 15 for over 60 % of bd#tabases. Almost 50 % of the
pressure drop and over 30 % of the liquid satunag&periments were performed at
higher than atmospheric pressure. Close to 70 &eopressure drop and close to 50 % of
the liquid saturation experiments were performethwistems other than air/water. The
performance of the optimized model is comparedhto hodels of Attou et al. (1999),
Tung and Dhir (1988), and Saez and Carbonell (1B8%able 6.

Table 6 Comparison of the performance of the currenmodel to the models of Attou et al. (1999),
Tung and Dhir (1988), and Saez and Carbonell (198%)ased on dimensionless pressure
drop, Ap/AL, and liquid saturation, S, data presented in Table 4.

Current model Attou et al. Tung and Dhir Séez and Carbonell
(1999) (1988) (1985)
<e > 18.73 26.82 27.86 21.76
AP/ AL
STD pp/a 15.65 14.26 15.07 12.72
B(X)AP/AL 0.029 1.023 1.069 0.336
5.43 8.62 7.92 7.07
(es)
STDe,sL 6.15 6.84 7.19 6.91
B(X)& 0.017 0.094 0.083 0.079

Parity plots for the dimensionless pressure drapligjuid saturation data are presented in
Figure 8 and Figure 9, respectively. The paritytplimclude all the data used for the
optimization, as well as some additional data. fruelel predicts both trends quite well.
Considering the complicated nature of the trickéetthydrodynamics (e.g. the hysteresis
effect) the model performance, based on Table §urEi 8, and Figure 9, can be
considered good.

5.1.2 Wetting efficiency

5.1.2.1  Performance of the wetting efficiency model

The validation of the wetting efficiency model wasne against a large dataset. Part of
the data was used in the model optimization (AlHzshand Dudukovi1995; Baussaron
et al. 2007; Colombo et al. 1976; Kundu et al. 2d0&ota and Levec 1990; Ring and
Missen 1989; Ring and Missen 1991), but it alsduided data that was excluded from the
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Figure 10. Parity plot between the modeled wettingfficiencies and literature data. Data used in the
optimization: (#) Al-Dahhan and Dudukovi¢ (1995), &) Baussaron et al. (2007),%) Colombo et al.
(1976), %) Kundu et al. (2003), %) Lakota and Levec (1990),-) Ring and Missen (1989), and<)
Ring and Missen (1991). Additional data: £) Alicilar et al. (1994), (=) van Houwelingen et al. (2006),
(o) Lazzaroni et al. (1988), and ¢) Specchia et al. (1978).

Table 7. Comparison of the performance of equatiofil4) to literature wetting efficiency correlations.

(e.) @ sTD, B(X),  Applicabilty to the data [%]
New model 5.65 5.35 0.00 100.00
Alicilar et al. (1994) 26.14 8.20 0.56 13.88
Burghardt et al. (1995) 13.43 8.17 0.27 81.59
El-Hisnawi et al. (1982) 6.50 6.16 -0.10 100.00
Gonzéalez-Mendizibal et al. (1998)  17.32 7.28 0.41 25.50
Herskowitz (1981) 10.68 9.22 -0.30 100.00
Herskowitz and Smith (1983) 11.33 9.51 -0.33 100.00
Larachi et al. (2001) 8.56 7.94 -0.10 100.00
Mills and Dudukovi¢ (1981) 10.78 9.21 -0.32 100.00
Ring and Missen (1991) 10.97 7.28 0.21 58.07
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optimization dataset (Alicilar et al. 1994; van Kalingen et al. 2006; Lazzaroni et al.

1988; Specchia et al. 1978) due to unknown porosithien the data was used in the
model validation, the porosity was estimated with torrelations presented in Bey and
Eigenbergen (1997). The parity plot between thecutated and measured wetting
efficiencies is presented in Figure 10. The comwesdence between the predicted and
measured values is good and most of the predicedting efficiencies are within the 20

% error line.

The performance of the wetting efficiency model veasnpared against the literature
models of Alicilar et al. (1994), Burghardt et #1995), El-Hisnawi et al. (1982),
Gonzélez-Mendizibal et al. (1998), Herskowitz (1p8derskowitz and Smith (1983),
Larachi et al. (2001), Mills and Duduk@évf1981), Ring and Missen (1991). The results
are presented in Table 7. The applicability of sontalels to the data was limited by the
gas and/or liquid flow rates (see Table 2 for dg}al his is also indicated in Table 7. The
current model showed improvement with respectltthal calculated statistical numbers.

The performance of the current model is also detnates! in Figure 11, which presents
the parity plots of the top four wetting efficienecgodels according to the statistical
numbers in Table 6. It can be seen that the phenological models of El-Hisnawi et al.
(1982) and Herskowitz (1981) have a tendency torpreeict wetting efficiency;
especially as the wetting efficiency decreases. ity plot of the neural network model
of Larachi et al. (2001) is widely scattered. Therent model seems to reproduce the
trend most accurately.

Characteristics of the wetting efficiency model

In addition to the quantitative performance analygresented above, the qualitative
analysis of the model is also important, sinceeiweals whether or not the model
reproduces the known characteristics of wettingcieficy. This is important since
experimental data points are often obtained in kstale equipment with moderate
pressures and temperatures, but the model shouleixtemdable to large-scale, high-
pressure, and high-temperature industrial apptinati The factors affecting the modeled
wetting efficiency can be divided into four groupisjuid phase propertiedJ(, o, (o),
gas phase propertiebd, oc, tc), gas-liquid surface tensiomw), and bed propertiess,(
dp).

Liquid phase propertie€Of the liquid phase properties only the effectiqtiid velocity
on wetting efficiency has been studied. The moslalansistent with the majority of the
available research, predicting a strong positiituémce of liquid velocity on wetting
efficiency. The model also predicts that an inceeiasliquid viscosity decreases wetting
efficiency significantly.

Gas phase propertie$he model predicts a contradictory effect of gdsaigy on wetting
efficiency: an increase in gas velocity decreaseting efficiency, but at the same time
the pressure drop increases, which in turn hassitiym effect on wetting efficiency
through increased gas density. This observatiofdaexplain the inconsistent conclusion
made from the experimental results [Ill]. The effet gas velocity is small. Change in
gas density has a stronger effect, especiallyeifgidis density is low.
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Figure 11. Comparison between the parity plots oftte four top wetting efficiency models based on
statistical numbers presented in Table 6.

Gas-liquid surface tensiorExperimental results concerning the effect of glas-liquid
surface tension on wetting efficiency are scarde dnly results found are from the work
of El-Hisnawi et al. (1982), who ascertained thatateftension had a positive effect on
wetting efficiency. This is consistent with the giations of the model.

Bed propertiesThe model predicts an increase in wetting efficieas particle size or
bed porosity decreases. This is consistent witregperiments of Baussaron et al. (2007)
and also with the theoretical considerations oféased capillary dispersion [V].

5.2 Dispersion models

5.2.1 Capillary pressure model

The capillary pressure model was validated agdhestexperimental data of Dodds and
Srivastava (2006) and Dullien et al. (1989). Iniadd, the model performance was
compared to the models of Attou and Ferschneide®qp and Grosser et al. (1988).
Figure 12 gathers the experimental results of Daatus$ Srivastava (2006), with mono-
sized particles, and the predictions of the thremdets. All three models perform

qualitatively similarly in the funicular regime. &main differences can be found in the
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pendular regime, where the capillary pressure ssesply. For capillary dispersion this is
the most significant regime, since the steep risecapillary pressure implies large
capillary pressure gradients. From Figure 12 it &@nseen that the current model
significantly improves the capillary pressure potidn in the pendular regime when
compared to the model of Grosser et al (1988). Mioelel of Attou and Ferschneider
(2000) was developed for the funicular regime only.
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Figure 12. Comparison between the models and the meriments with beds packed with mono-sized
particles. — the new capillary pressure model...- the model of Attou and Ferschneider (2000} - the
model of Grosser et al. (1988), and ¢ the experimtal data of Dodds and Srivastava (2006). Details of

the packing — average particle sizgdm] / bed porosity: a) 370/0.3547, b) 370/0.3926,254/0.3519,

d) 254/0.3952, e) 188/0.3445, f) 188/0.3839, g)/a1504, h) 117/0.3967.
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In the measurements of Dodds and Srivastava (2@80&)capillary pressure exhibited a
jump at approximatel§g [10.1. Beyond that point, no more liquid could beosed from
the system even though the capillary pressure wagased. According to the current
model, however, liquid saturation should continee decrease steadily. Dodds and
Srivastava (2006) used smooth glass spheres indkperiments, and thus the jump in
the experimental data could be caused by a losg/dfodynamic continuity [IV]. The
assumption is supported by the experiments of Bruldit al. (1989) and Bico et al. (2002),
where it has been found that surface roughness owepr liquid spreading and
hydrodynamic continuity. Figure 13 presents theeexpental results of Dullien et al.
(1988), who carried out experiments with both roaghd smooth glass spheres. Here too,
the capillary pressure measured with smooth pagtiatxhibits a sudden jump at
approximatelyS. = 0.1. However, with rough particles liquid satiomas close to zero
could be reached and the modeled capillary pressungell in agreement with the
experimental results. Thus it was concluded thatrdgynamic continuity plays a
significant role in capillary pressure measuremeavith smooth particles. Since
nonporous, smooth catalyst materials are rarelp@mered in industrial applications, the
model performance with rough patrticles is the nmelsvant.
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Figure 13. Comparison of the current model againsthe experimental data of Dullien et al. (1989) —
etched (rough) and smooth glass spheres. Porosityastimated to be 0.4.

5.2.1.1  Mixtures of particles

In addition to the measurements with uniform péetgizes, Dodds and Srivastava (2006)
performed measurements with beds packed with nagtof three different particle sizes.
The extendibility of the capillary pressure to mibds was investigated based on those
measurements. Portion of the results is presentédgure 14. The results are presented
as a whole in paper [IV]. It was found that althbuge model was developed for uniform
particle size, it can also be used in the case igfunes of particles. This, however,
requires an adjusted model for the sequentialglarsize.
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Figure 14. Comparison between the modeled and measd capillary pressures in beds packed with
mixtures m1 through m4. — the new model, ¢ the experimental data Dodds et.§2006) with beds
packed with mixtures (Dodds and Srivastava 2006). &ails of the packing — Ra/Dmin [Um] / bed
porosity: m1-1) 170/90 / 0.392, m1-2) 170/90 / 0435n2-1) 258/128 / 0.388, m2-2) 258/128 / 0.343,

m3-1) 187/46 / 0.390, m3-2) 187/46 / 0.332, m4-38/58 / 0.340, m4-2) 258/58 / 0.303
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6. CFD MODELING SETUP

Simulations were performed using a three-phaserianlenodel with a pressure based,
double-precision, unsteady state solver. Laminaw fivas assumed. Second and first

order discretization schemes were used for the mame and phase fractions,

respectively.

6.1 Simulated cases

The simulations corresponded to the experimentsepted in Boyer et al. (2005),
Herskowitz and Smith (1978), and Porter et al ()96Bimulations of our own

measurements were also performed [VI]. Informatonthe simulations is presented in
Table 8 and in papers [VI] and [V].

Table 8. Details of the CFD simulations performedn papers [VI] and [V]. Unless otherwise noted, the
parameters are obtained from the reference in questn.

Herskowitz and Boyer et al. Ravindra et al. Paper [VI]
Smith (1978) (2005) (1997)

Experimental setup Cylindrical Cylindrical Rectangular Rectangular
Dimensions, mm 7114 400 80X60 250x50
Packing heightZ), 55 180 20 25
cm
Water feed system Single point Single point Slnsg(;)lsrggmt

source, source, 2 4.0 mm Line feed source

5.4 mm 28 mm Line feed source

Superficial flow rate 0.25 0.03 0.1 0.02/0.53
for water, cm/s
Superficial flow rate 1.0 9.95 4.27 8.1/23.0

for air, cm/s

Packing type and

Porous alumina

size [mm] Ceramic spheres  Glass spheres particles Glass spheres
2 9.53/6.35/2 g 1.99 219 239
Porosity 0.4 &(z)= 0.421_— 2).1242 039" 0.36
+0.047z
Spread factor , cm 4 15/0.12/0.07 0.07 0.07 0.09
Presented in paper V] V] V] VI]

@ 2 mm particles are included for comparison, reerental data available

Estimated according to Bey and Eigenbergen (1B83¢d on equiareal cylinder

wxk
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6.2 Porosity

The porosity generation for a CFD grid:
1 The mean porosity of the packing is used for bulfopity
2 A radial porosity profile can be used to accounttfee higher porosities at the
wall
3 A normal distribution, with a specified standardiidéion, can be used to generate
random variation of porosity

Of the above only the mean porosity of the packinglways required. The necessity of
the other two constraints depends on the conditmaisis discussed below.

6.2.1 Radial porosity profiles

The porosity near the wall of a packed bed is ofigher than the bulk porosity. A radial
porosity profile describes this effect. The sigrafice of the wall effect decreases as the
column to particle diameter ratio increases, makimg proportion of the wall region
smaller. Values from 12 to 25 have been suggesied minimum for the column to
particle diameter ratid)/d,, for uniform flow (Al-Dahhan and Duduka¥il994; Baker

et al. 1935; Herskowitz and Smith 1978; Porterle1968; Porter and Templeman 1968;
Prchlik et al. 1975). Radial porosity profiles fepheres have been proposed by several
authors and are presented in Table 9. The effe¢hefradial porosity profile on the
simulation results was tested in paper [V]. Theeskpents of Porter et al. (1968) were
used with a column to particle ratio of only 12whs found that the radial porosity profile
had a significant effect on the simulation resutased on the comparison, the model of
Mueller et al. (1991) was found to characterizefheking structure best. It is, however,
to be emphasized that the effect of the radial girgprofile on simulations is only
significant when simulations are compared to latmwyaexperiments with a low column-
to-particle diameter ratio.

6.2.2 Variation of porosity

Sometimes the random nature of porous media hasthken into account by a porosity
density function (Gunjal et al. 2005; Gunjal andnB@e 2007; Jiang et al. 2002) - the
local porosities are determined randomly based aoraal distribution with a specific
standard deviation. In CFD the variation of ponpsitould depend on the cell size - the
standard deviation of porosity should approach asrthe cell size grows and increase as
the cell size decreases. It is important to nost tie standard deviation used here differs
from that used in the capillary pressure model. Ghgillary pressure is a property of a
specific porous medium and it should not be afdtig the simulation grid.

Based on the experiments (see 3.2), it was fouad iths not appropriate to link the
random variation of porosity to the cell volumestlad, it is linked to the smallest cell
dimension. This approach should be valid as lonthascells are likely to contain both
solid and void spaces. If the cell size decreasdiset point where the majority of the cells
are likely to be completely solid or void, the apgeh is no longer valid.

The effect of random porosity on CFD simulationswaamined in paper [V]. When the
dispersion forces were neglected, the random vamiaif porosity spread the liquid to
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Table 9. Literature correlations for radial porosity profiles for spheres in a cylindrical column.

Author Radial porosity model
Bey and Eigenbergen (1997
y and Eigenbergen ( xmm=o.5(DC—,/iDC—dpi2—d§)

r =1(D° - r) -1
Xmin 2

Epal = E€min (1_ gmin)(r’)z forr'<0

_ r' T, .
Eurre = &, + (€0 — &, ) EX - feog Lt forr' =0

with
Enin = 024
b=0.876
c=10
Cohen and Metzner (1981) -
17¢ _ 4.5(r5—7r52j, r’< 025
1-¢, 9
£7% _ e coday-a, )7, 025<r°<8
1-¢,
£=¢, 8<r’<w

r’=(D,/2-r)/d,,foro<r"

with
a,=0.3463; a,=0.4273; a;=2.4509; a,=2.2011

Mueller (1991) £=g,+(1-£),ar)e™ for 261< D,/d,

1298

a=8.243- ,for 261<D,/d, <130
(D./d, +3.156)

a=7.383- 2932 ,for13.0<D./d,
(D/d, - 9.864)

b=0304- 2724
D,/d,

r’=(D,/2-r)/d, foro<r"

Sun et al. (2000)

£=1-(1-7) 1‘“’{_ Z[DC{jzp_rJz]
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some extent. This is because it affects the lobake interaction forces. However, when
dispersion forces were included, the random vamatof porosity did not have a

significant effect on overall liquid spreading. Téfre variation of porosity can be seen
as an unsuitable way to compensate the lack ofeprdigpersion forces. When dispersion
forces are included, variation of porosity merelgda some random noise to the
simulation results, which may unnecessarily conadic comparisons between
experiments.

6.3 Parameters for the mechanical dispersion model

The only estimated parameter for the mechanicaledsson model is the spread fac&r
The number of literature correlations available §pread factors is scarce. Table 10 lists
three of these correlations.

Since molecular diffusion cannot be neglected Indalpersion experiments, resulst are
not always reported as spread factors, but instedrhnsverse dispersion coefficielns,
which also includes the effect of molecular diffusi The spread factor and dispersion
coefficient are related to one another by a sinegl@ression (Bear 1979; Hoek et al. 1986;
Potucek 1997; Sahimi et al. 1986a):

D = Su (55)

By neglecting the effect of molecular dispersiae.®, = 0) and applying equation (55)
the following equation is obtaineBer(«) refers to an asymptotic value of the transverse
Péclet numberPer, as the Reynolds number approaches infinity (Goalid Guedes de
Carvalho 1988; Guedes de Carvalho and Delgado Z60Bn 1987):

1 11 1 - d d
=== +—— 0 fP.D,_=—"—ul - S=——L—~ (56)
Pqnech r PQn Pqnech(oo) " Pqnech(oo)‘ “‘ Pqnech(oo)

The spread factor correlations (Table 10) and égudb6) were analyzed in paper [V],

on the basis of which the model of Baldi and Spec¢h976) was found to be the most
coherent with the experimental data (Cihla and Bm#@®58; Kolomaznik et al. 1971;

Porter et al. 1968).

Table 10. Literature models for spread factors.

Author Correlation Particles used in the
experiments

Baldi and Specchia 05 X Raschig rings, Berl saddles

(1976) g[m| = 0.015(’)J i’

Hoek et al. S=012d, Raschig rings, Intalox

(1986) saddles

Onda et al. d\* o Beads, Berl saddles,

(1973) S[m] = 0.23{;1’} ( N7 m] Raschig rings

" The constant value was corrected based on Figim®zldi and Specchia (1976)
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6.4 Parameters for the capillary pressure model

In the capillary pressure model, the following paeters are required: mean patrticle size,
particle size range, liquid-solid contact angleameorosity and the standard deviation of
porosity. In the simulations presented in paper$ @d [VI], most of the above
parameters were known, but the contact angle amdtdndard deviation of porosity had
to be estimated. The standard deviation of poragéy estimated based on the correlation
proposed in paper [IV]:

0, =0.262F - 0.068 (57)

Several literature values for the air-water-glasatact angle have been reported (e.g.
Gunjal et al. 2003b; Laroussi and De-Backer 1978; dt al. 1996; Moseley and Dhir
1996) with a great deal of discrepancy among thEme. value 29° that was reported by
Moseley and Dhir (1996) is used here since theamsugement method and conditions are
the closest to the flow conditions in trickle-bezhctors. They used a single sphere and
determined the receding air-water-glass contacteang drawing liquid away from the
initially wetted sphere.

Since Herskowitz and Smith (1978) did not repoet dietailed material information on the
ceramic spheres used in their experiments, thevater-ceramic contact angle is not
known. The contact angle is based on the measuten#nOh et al. (2002), who
measured contact angles between multiple ceramfacgs and water. The measured
receding air-water-ceramic contact angles were éatwl.5° and 44.9°, depending on the
ceramic type and surface roughness. The air-wéddssgontact angle of 29° is close to
the average of the values measured by Oh et @2}24nd is thus used also for the air-
water-ceramics contact angle.

For the porous alumina particles used by Ravindral €1997), a contact angle of zero
was used due to the porous nature of the material.
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7. LIQUID DISPERSION SIMULATIONS WITH CFD

CFD simulations were performed to test the abiityhe current model to predict liquid
dispersion. The simulated cases were selected loastitk following criteria: 1) spherical
particles were used in the experiments due to #suraptions behind the capillary
pressure model, 2) the experimental setup was texpdn detail to provide all the
necessary data for the simulations and 3) the empatal results were reported so that
they could be used for comparison. In all the satiohs presented below, the capillary
and mechanical dispersion models are both inclublegeneral summary of the simulated
cases is presented in Table 8.

7.1 PRE-STUDY: SIGNIFICANCE OF DISPERSIVE FORCES

In CFD, all added source terms complicate the mwiutwhich means that shorter time
steps and more iterations are required. Since aadirig (i.e. spreading of the liquid on
top of the bed) is caused by the phase interadticees, it cannot be discarded from
simulations, but either capillary or mechanical pdision could be, if found to be
insignificant. From Table 3 it can be seen thatigiar size has an opposite effect on
capillary and mechanical dispersion — an increaspaiticle size increases mechanical
and decreases capillary dispersion and vice verbarefore in paper [V], it was
investigated whether either capillary or mechanttiapersion could be omitted in the
particle size range used in industrial trickle-bedactors. The simulation grid
corresponded to the experimental setup of Herskoantd Smith (1978) and the particle
sizes used in the simulations were g 2.00 mm, & 1618, and g 9.53 mm spheres.

2953 mm

107 FaispL™ FepL 107 Faisp ™ FoL

Liquid mass flux [kg/m 2s]

Distance from the center [cm]

Figure 15. Significance of the capillary and mechdnal dispersive forces in the overall liquid
dispersion in the case of @ 2 mm, g 6.35 mm, an® %3 mm spherical particles.

37



It was found that, within the particle size rangsed; neither of the dispersion

mechanisms became insignificant [V]. Figure 15 @n¢s the simulation results. Since
overloading increases as the particle size decsedsehas to be considered when
evaluating the importance of dispersion mechanisBssed on Figure 15 it was

concluded that with a mean porosity of 0.4, medate&nand capillary dispersion are

approximately equally significant for g 9.53 mm ems. For g 2.00 mm spheres,
capillary dispersion already starts to dominate roreechanical dispersion, but the

mechanical dispersion is still not insignificanin& the porosity affects the capillary

pressure, changes in porosity also affect theioelaietween capillary and mechanical
dispersion. Nevertheless, it seems that both diggemechanisms should be considered
with the industrially relevant particle sizes, whiange approximately from 1 to 4 mm

(Westerterp and Wammes 2005).

7.2 Experiments of Herskowitz and Smith (1978)

Herskowitz and Smith (1978) measured liquid dispersn a cylindrical column with g
9.53 mm and g 6.35 mm spheres. The liquid dispensi@s measured with a collector
device, which consisted of four sectors having odiameters of 5.09, 7.66, 9.90, and
11.61 cm. The outer diameter of the outermost cwitewas slightly larger than the
column diameter to prevent leakage. The simulatiyespresented in detail in paper [VI].
The simulated liquid mass fluxes along the bed tlerage presented in Figure 16. The
results are compared to the measurements of Heitgkand Smith (1978) at three
different bed heights in Figure 17. The simulatephid flow profiles are in excellent
agreement with the measurements at all bed heights.

Liquid mass flux
[kg/ms] Spheres

09.53 mm 6 6.35 mm

Figure 16. Simulated liquid mass fluxes along theeactor length for g 9.53 mm (left)
and g 6.35 mm (right) spheres.
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o Herskowitz and Smith (1978)
— Modeled dispersion
X Modeled averages

2 9.53 mm spheres o 6.35 mm spheres
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Figure 17. Comparison of the simulated dispersionmpfiles to the experimental results of Herskowitz
and Smith (1978). Modeled averages are the averagess fluxes through the four collector sectors of
the collector grid used in the measurements.

7.3 Experiments of Boyer et al. (2005)

Boyer et al. (2005) measured liquid saturationifgefusing gamma-ray tomography for g
1.99 mm glass spheres. The measurements weremedadn a 1.8 m high column with
gamma-ray tomography at 60 mm and 280 mm belowfabd point. The simulation
results reproduced the measured liquid saturatielhwhen the distance from the center
was more than approximately 3-4 cm and succeedqutedicting the overall spread
angle of the liquid jet correctly [V]. At the centef the column the measured liquid
saturations were somewhat unusual when compargdet@xperimental data obtained
with liquid collector systems (Herskowitz and Smith78; Porter et al. 1968; Prchlik et
al. 1975; Saroha et al. 1998). One possible exptames that the reconstruction algorithm
in the tomographic measurements underpredictsitiuéd| saturations near the column
center. If the anomalous region (0 — 3 cm fromddeter), which is less than 2.3 % of the
total column surface area, is neglected, the padoce of the model is very good, as
demonstrated in Figure 18.
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Figure 18. Comparison of the simulated liquid satuation profiles to the measurements of
Boyer et al. (2005).

7.4 Experiments of Ravindra et al. (1997)

Ravindra et al. (1997) performed point and linailijfeed experiments with g 1.9 mm

porous alumina particles in a rectangular colunincé&the column was not symmetric

the simulations were performed in a three-dimeradignid that corresponded to a quarter
of the experimental setup. The results are predentigure 19 and Figure 20 for the line
and point source feeds, respectively. The simuléitpdd dispersions correspond well

with experimental data; especially in the casehefline feed system. In the case of the
point feed system, there is a peculiar featurehm eéxperiments: the liquid spreading
along the shorter side was less than along theeloside of the column. This phenomenon
results most probably from the structure of theeexpental bed and, without more

information, cannot be reproduced by simulationBusl on average, the results are
considered to be good.

7.5 Experiments from paper [VI]

The experimental setup presented in Figure 2 wasllated in paper [VI]. Simulations

were performed for three different cases that dainegas and/or liquid flow rates. In all

cases the simulated flow profiles agreed satisfdgtaith the experiments. The largest
difference was in case 1, where the liquid floneratas particularly small — only 0.02
cm/s (Figure 21). Measurements with such a lowidiglow rate were performed to

prevent overloading. The experiment was, howevery susceptible to measurement
errors; the significance of flow abnormalities, Isuas strayed rivulets, was
overemphasized as even small rivulets constitutairty large percentage of the total
flow. The best agreement can be found in case 8revthhe gas and liquid flow rates are
the largest. The effect of an increased gas flow & reproduced in the simulations,
although it is smaller than in the measurements.
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Figure 19. Comparison of the simulated liquid satuation profiles to the measurements of
Ravindra et al. (1997); line source feed of liquid.

Measurements
Ravindra et al. (1997)

Simulations

Percent liquid flow rate [ ]

1.0
Distance from the feed point [cm] Distance from the feed point [cm]

Figure 20. Comparison of the simulated liquid satuation profiles to the measurements of
Ravindra et al. (1997); point source feed of liquid
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8. CONCLUSION

A new hydrodynamic model for trickle-bed reactoiss been developed. The model
includes phase interaction models that can be tossdlve a two-phase pressure drop and
liquid holdup in uniform flow conditions. The modehrameters were fitted against a vast
experimental database. The model also accountbdqguartial wetting of the catalyst and
provides an estimation of the liquid-solid wettef§ciency. [l11]

It was shown that for a non-uniform flow, the gag#d-solid phase interactions alone are
no longer sufficient to describe the hydrodynamios trickle-bed reactors; liquid
dispersion also has to be accounted for [V], [Mlhe phase interactions alone account
only for liquid spreading due to overloading. Owading signifies the spreading of liquid
at the top of the packing due to a local peak engressure drop, caused for example by a
local liquid feed source. In addition to overloaglispreading of liquid was attributed to
capillary and mechanical dispersion.

Capillary dispersion is caused by capillary pressgradients and thus a new capillary
pressure model was developed [IV]. The model waldped based on the analytical
analysis of pendular and funicular liquid structuag the interstices of spherical particles,
thus limiting the model for spheres. When comparedhe capillary pressure models
previously used in trickle-bed reactor modelingg thew model showed improvement
especially in the pendular regime. This is impditamce capillary dispersion is most
significant when liquid saturation approaches zd&rbe model predictions were also
compared to capillary pressure measurements withpooous and porous spheres. In the
case of smooth, non-porous particles, it was olesktivat the measured capillary pressure
exhibited a sudden rise, which was not reprodugetthd model. It was suspected that the
sudden rise was caused by the breakage of thel lfdj. If the hydrodynamic continuity

is lost, liquid cannot exit the bed even if theittapy pressure increases. This conclusion
was supported by the results with porous particid®re a sudden rise was not observed
and the model reproduced the experimental resuétB. \Bince porous particles are
nominally used in industrial trickle-bed applicats the performance of the model in the
case of porous particles is the most important.

Mechanical dispersion in trickle-bed reactors hasnbpreviously simulated only for
tracer spreading. However, there has not been ar@édizl for the mechanical dispersion
of gas and liquid phases. Therefore, in the cowfehis thesis, a model for the
mechanical dispersion of liquid was presented [Nie different characteristics of tracer
and liquid dispersion were discussed from a themeand modeling point of view. In

tracer dispersion there is no momentum transfetr,ibliquid dispersion there is. This

means that even if the capillary dispersion andrloading could be assumed to be
insignificant, the phase interaction forces willl $tave an impact on liquid spreading. As
a result, the simulated spreading of tracer is ntiba& that of liquid even if the spread
factor used in the model is the same. It was algestipned whether the normal
distribution approach can be used in liquid disipersfor results analysis, since the
assumption of a uniform liquid velocity field istaorrect.

The relation between mechanical and capillary d&pe was investigated by means of

CFD simulations [V]. Since every additional souteem complicates the solution in
CFD, it was investigated whether both of the disjmer forces were significant when
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industrially relevant particle sizes were usedhgitgh capillary dispersion was clearly
the dominant dispersion source with g 2 mm spheneshanical dispersion could not be
considered insignificant. With g 9.53 mm particleapillary and mechanical dispersion
were found to be approximately of equal signifieanit is therefore recommended that
they should both be considered. In addition, CHRuktions of several experimental
cases were performed. The data included both nomyupoand porous spheres. The
correspondence between the experiments and siondatias found to be good.
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9. FUTURE RESEARCH RECOMMENDATIONS

Although significant work has been done in an afteto improve trickle-bed reactor

flow modeling, there are still some unanswered tioes that should be addressed in
future research, as well as goals for future madlelopment. In this thesis, the
discrepancies between mechanical dispersion dértieand liquid have been touched upon,
but they are still not thoroughly understood. Thiwuld be examined further and the
effect on experiment and CFD simulations should bks considered.

Due to the restrictions of the current capillarggsure model, all cases simulated in this
thesis were beds packed with spheres. The indiistrielevant particle shapes are,
however, in most cases non-spherical, which raisesieed for the further development
of the capillary pressure model. The capillary pues for spheres was developed based
on analytical reasoning, but for non-spherical ip$ the analytical analysis of the
packing structure is not possible. Thus differeletais on how the capillary pressure model
could be extended for non-spherical particles basethboratory experiments and CFD
simulations should be elaborated.

Although the model has successfully captured tlosv ffields in non-uniform flow
situations, there are still some questions conogrtiie liquid holdup and pressure drop in
such conditions. In uniform, or close to unifornovil conditions, the model performs
quite well in predicting pressure drop and liqu@dup. In non-uniform flow conditions,
however, the pressure drop is often under-predighetithe static holdup of liquid is quite
small — at least with nonporous particles. A simiksue was also encountered in the
development of the capillary pressure model. It ts concluded that the high liquid
saturations in the experiments are probably cabgdtie breakage of the liquid film and
the consequent loss of hydrodynamic continuity sTginot accounted for in the model. It
is common with nonporous, smooth particles, butatosevere with the porous particles
that are commonly used in industrial trickle betisimilar explanation could lie behind
the low static holdups encountered in the simutetiavhich would also cause the under-
prediction of pressure drop due to the too higkedi¥e porosity encountered by the gas
phase. In future work, this issue should be addrksand the theory about lost
hydrodynamic continuity should be tested basedmnlations with porous particles.
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Packing external surface area per unit volumea¢tor, []
Parameters in equation (13)

Cross-sectional are, fin

Bias, equation (51)

Particle diameter, [m]

Coefficient of diffusion, [rAs’]
Column diameter, [m]

Hydraulic diameter, [m]

Coefficient of molecular diffusion, [fis?]

Coefficient of mechanical dispersion, st]

Mean relative error as defined in equation (50)
One-phase-specific Ergun coefficients, [ ]
Phase-specific Ergun coefficients for phkse

Wetting efficiency

Friction factor

Probability density function of beta distribution
Capillary dispersion force for liquid, [M™]

Component of the mechanical dispersion force vector for pHaghm?|
Total dispersive force for phake[N'm™]

Total interaction force for phage[N'm?|

Phase interaction force between phasasdj, [N'm™]
Gravitational acceleration constant, $fj

Bessel J-function

Adjustable parameters in equations (40) — (42)
Coefficient of interaction force between phaksesdj, [N'sm™]
Sample size in equation (1), [cm]

Liquid superficial mass velocity, [kg?s?]

Number of particle-particle contact points per particle
Pressure, [Pa]

Capillary pressure, [Pa]

Parameters in equation (33)

Pressure drop, [Fa’]

Radial coordinate, [m]

rn=R/R, i=12

Patrticle radius, [m]

Two principal radii of a pendular ring, [m]

Local curvature of the interface, [m]
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S Length of the wetted perimeter, [m]

S Spread factor, [m]

S Liquid saturation

STO, Standard deviation of the relative error around thean relative error,
equation (52)

t Time, [s]

T, Empty bed tortuosity

T, Phase-specific tortuosity of phdse

Up, Component of the drift velocity vector for phade [ms?]

U, Modified gas velocity, [ns”]

u, Interstitial velocity of phask, [m's”]

U, Superficial velocity of phade [m's”]

\Y; Volume, [m]

X X = (1-cosp)

Y, Mass fraction of componentn the bulk liquid phase

Greek letters

a Gas saturation

£ Porosity in the packed bed

g Mean porosity of the packed bed
& Bulk porosity of the packing

@ Filling angle, [rad]

Dot Sphericity

r(x) Gamma function

Viscosity of phasé, [Pas]
Gas-liquid-solid contact angle, [rad]
Volume fraction of phaske

Hi

7

6

O Density of phask, [m*kg™]

o Gas-liquid-solid surface tension, fhl']
o, Standard deviation of porosity

T Tortuosity

Dimensionless groups

E¢' Modified E6tvés numberEs' = p, gde? /|o(L- £)?]

Fr, Gas Froude numbeFr; =U, /,/gd,

Fr’ Modified liquid Froude numberfr' = a, L2,/ p?g

Ga, Galileo number for phade Ga, = p?gd; /12

Ga, Packed-bed Galileo number for ph&sé&a, = pfgdgss/[,uf(l— £)3J
Pe, Péclet number based on molecular dispersion cisiti, Pg, =ud, /D,,
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Penech

Re,
Rel

We;

Subscripts
G

f
fcc
fun

LF
nw
pend

sc
seq
tr
TP

Péclet number based on transverse dispersion ceeffi

P€nech = Udp/Dmech

Reynolds number for phaseRe, = p d U, /4,

Packed-bed Reynolds number for phiasBe, = pkdek/(,uk (1-¢))
Modified liquid Weber numbeiWe! = L2 /agp, a,

Gas
Fluid in a pendular ring
Face-centered cubic packing
Funicular
Liquid
Liquid-full
Non-wetting phase
Pendular
Reactor
Simple cubic packing
Sequential variable
Value at the pendular-funicular transition point
Two-phase
Wetting phase
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