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ABSTRACT 
 

With the tightening of the crude oil supply-demand gap, interest in energy independence, 

and global climate change concerns, attention has been directed to finding alternatives to 

crude oil. In particular, efforts have focused on alternative feedstock for liquid 

transportation fuels and chemicals production. The purpose of this work is to investigate 

the potential use of biomass and natural gas as alternative options to petroleum for liquid 

transportation fuels and chemicals production. From a broader perspective, this work 

explores the synthesis of integrated industrial complexes that can lead to various benefits 

including conservation of material and energy resources, reduction of environmental 

impact, improvement in capital productivity, increase in material utilization, and 

enhancement in natural-resource monetization. 

 

The fundamental research approach is a process systems approach. First the system is 

defined and investigated. This investigation is used to determine if the system is feasible 

through various criteria (economic, environmental, and social). Targeting techniques are 

used to reduce the number of options investigated. If it is determined that the system is 

feasible, opportunities for improvement are identified. If the system is not feasible, 

major issues are identified and potential prospects to achieve feasibility are investigated. 

Focus is directed to the major issues with the greatest impact on system feasibility.   

 

In this work, initial focus is directed to the production of synthetic liquid transportation 

fuels from biomass. This is followed by focus on intermediates which would facilitate 

the integration of multiple processing facilities. This understanding is used to synthesis 

an intra-process resource management framework. Finally the potential to use natural 

gas to mitigate CO2 emissions by chemically fixating the CO2 is investigated and results 

presented. 
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CHAPTER I  

INTRODUCTION  

 

The increasing world population, dwindling natural resources, and escalating 

environmental concerns continue to highlight the need for sustainable design of 

industrial processes. Primary objectives of sustainable design include profitability and 

capital-productivity enhancement, resource (mass and energy) conservation, pollution 

prevention, and process-safety improvement1. Petroleum has been the foundation of the 

liquid transportation fuel market and chemical industries (petrochemicals) since the start 

of the 20th century. This includes an extensive infrastructure for production and 

transportation of the various products.  With the tightening of the crude oil supply-

demand gap, interest in energy independence, and global climate change concerns; 

attention has been directed to finding alternatives to crude oil. In particular, efforts have 

focused on alternative feedstock for liquid transportation fuels and chemicals 

production.  

 

Coal, biomass, and natural gas represent viable alternative feedstock to petroleum. 

While coal has been widely used for power generation and chemical production, stricter 

environmental regulations diminish interest in its widespread adoption as an alternative 

to petroleum.  Biomass is one of the renewable energy sources which can play an 

important role in reducing dependency on crude oil and the associated environmental 

impact while maintaining the current infrastructure. In Europe, the European Union has 

set a target of 10% biofuels share of the liquid transportation fuels 2. In the United 

States, advances in horizontal drilling and fracturing have made vast supplies of shale 

gas available for utilization3. This has focused interest on the expansion of the gas 

industry and the potential to increase the share of natural gas in the production of 

chemicals, liquid transportation fuels, and power generation4.  
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The purpose of this work is to investigate the potential use of biomass and natural gas as 

alternative options to petroleum for liquid transportation fuels and chemicals 

production. This is quantified in terms of product yield, energy use, economic 

feasibility, and environmental impact. From a broader perspective, this work explores 

the synthesis of integrated industrial complexes that can lead to various benefits 

including conservation of material and energy resources, reduction of environmental 

impact, improvement in capital productivity, increase in material utilization, and 

enhancement in natural-resource monetization.  

 

In chapter II, we discuss the potential of stand-alone biomass-to-liquid fuels production. 

This includes the use of targeting techniques to compare different biomass feedstock. 

The conceptual process design is used to quantify the yield of biomass-to-liquid fuel via 

Fischer-Tropsch synthesis. Following the assessment of a BTL process base case, 

emphasis is given to the issues which hinder the economic feasibility of BTL processes 

and opportunities to overcome them. In chapter III focus shifts to synthesis gas (syngas) 

an intermediate that allows the integration of biomass and natural gas in combined 

energy and chemical production systems. The chapter centers on syngas production and 

the selection of the appropriate reforming technology for different process and 

economic objectives. The chapter presents the use of an optimization formulation which 

utilizes Gibbs free energy minimization to identify the optimal reforming technology for 

natural gas/shale gas reforming.  

 

Chapter IV introduces the concept of synthesizing C-H-O SYmbiosis Networks 

(CHOSYNs).  A CHOSYN is defined as a cluster of multiple plants with shared 

centralized facilities that are designed to enable the exchange, conversion, separation, 

treatment, splitting, mixing, and allocation of streams containing C-H-O compounds. It 

is worth noting that the focus of CHOSYN is the integration emanating from the atomic 

level (C, H, and O). Additionally, the use of C-H-O as the basis for integration creates 
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numerous opportunities for synergism because C, H, and O are the primary building 

blocks for many industrial compounds that can be exchanged and integrated.  

 

First, the problem statement is introduced along with the design challenges. Next, a 

structural representation is developed to embed potential CHOSYN configurations of 

interest. Atomic-based targeting is used to benchmark the performance of the network. 

Then, an optimization formulation is devised to synthesize cost-effective networks for 

the general cases. A case study with different scenarios is solved to illustrate the 

applicability of the concept and associated tools. 

 

Finally, in chapter V the attention is given to the prospect of using natural gas to 

chemically sequester carbon dioxide (CO2 fixation) through the use of dry reforming 

(DR) in an attempt to mitigate the environmental impact associated with petroleum-

derived products. This includes quantifying the amount of CO2 that can be converted to 

value-added products. The benefit of combining reforming technology is discussed 

along with the use of multiple reforming configurations. 
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CHAPTER II 

BENCHMARKING, INSIGHTS, AND POTENTIAL FOR IMPROVEMENT OF 

FISCHER-TROPSCH-BASED BIOMASS-TO-LIQUID TECHNOLOGY* 

 

II.1 Introduction 

Increase in the world population and recent progress in the economic development in 

nations such as China and India are expected to lead to a dramatic escalation in energy 

consumption and greenhouse gas (GHG) emissions. It is estimated that the 

transportation sector uses approximately 20% of the world’s total delivered energy and 

that petroleum-derived liquid fuels are the predominant source for the transportation 

sector, accounting for 94% of the energy consumption 5. Greater concerns about climate 

change increase the need to develop alternative sources for transportation fuels capable 

of reducing the negative impact on the environment.  

 

The emphasis in this chapter is on developing top-level benchmarks and insights for 

thermochemical BTL routes involving gasification and Fischer-Tropsch (F-T) 6-7. 

Thermochemical conversion allows the use of a variety of feedstock with different 

compositions while producing a consistent intermediate synthesis gas (a mixture of CO 

and H2) 8.  The chapter covers the class of routes where the gasification process 

generates a synthesis gas (syngas) that is later converted to ultra-clean liquid fuels and 

value-added chemicals via the F-T technology. The major focus of this study is to 

develop a process-integration approach to determine the “big-picture” targets and to 

evaluate the role of certain variables (e.g. biomass source, composition, and processing) 

on potential liquid fuel yield. 

 

 
*With kind permission from Springer Science and Business Media: Clean Technologies and Environmental Policy, 

Benchmarking, insights, and potential for improvement of Fischer–Tropsch-based biomass-to-liquid technology*, 16, 

2014, 37-44, Mohamed M. B. Noureldin, Buping Bao, Nimir O. Elbashir, Mahmoud M. El-Halwagi, and any original 

(first) copyright notice displayed with material. 
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II.2 Literature review 

Gasification is a complex process whereby many reactions take place to convert the 

biomass to a combustible gas mixture 9-10. The reactions below summarize the key steps 

in the gasifier. Depending on the syngas requirements different gasification agents may 

be used for the partial oxidation of the biomass feed including air, pure oxygen, and 

steam 11-15.  

Primary Reactions 

C + O2 → CO2                                                                           (1) 

C + H2O ⇌ CO + H2                                                                            (2) 

Secondary Reactions 

C + 2H2 ⇌ CH4                                                                           (3) 

C + CO2 ⇌ 2CO                                                                            (4) 

CO + H2O ⇌ CO2+ H2                    (5) 

 

The syngas composition varies depending on: gasification agent, feedstock composition, 

biomass drying, type of gasifier and the gasifier operating conditions 13, 16. For example, 

the use of steam as the oxidation agent produces a syngas more tailored for hydrogen 

production. The different syngas compositions (i.e. H2/CO ratios) may result in different 

F-T product distributions. The combustion of a portion of biomass produces the heat 

needed for the secondary reactions to take place 11. Syngas generation can account for 

65-75% of the total capital investment for a BTL project17. Thus it is important to 

maximize the effectiveness of syngas generation to improve the economic potential of 

BTL processes.  

 

Fischer-Tropsch synthesis is a mature process for the conversion of syngas to produce 

hydrocarbons of varying carbon structures that start from C1 and reach C100+ 18. Elbashir 

et al. conducted a comparison between the various F-T commercial reactor technologies 

including the use of supercritical operation to improve the performance of F-T reactors 
19. F-T fuels have been known as ultra-clean fuels because of the lack of aromatics and 
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sulfur compounds as well as for lower emissions post-combustion i.e. lower carbon 

monoxide, hydrocarbons, nitrogen oxides and particulates emissions compared to crude 

oil derived fuels 20-21.  

 

The choice of F-T catalyst (either cobalt-based or iron based catalyst) influences the 

overall product distribution. Each catalyst has its own operating temperature, target 

product and specific product distribution. This technology is classified as either low 

temperature F-T (LTFT) or high temperature F-T (HTFT) by selecting the appropriate 

reactor and catalytic system. For the production of liquid fuels such as diesel or base oil, 

LT-FT and cobalt-based catalyst are preferred 22-23. 

 

Biomass is the one renewable energy source which can directly replace crude oil use in 

the transportation sector while maintaining the current infrastructure for liquid fuels 24-

25. The development of biomass feedstock for the production of transportation fuels 

must be economically, environmentally, and socially sustainable to avoid the dilemma 

between food and fuel 26. First generation biofuels such as corn-grain ethanol and 

soybean diesel do not avoid what is termed 4-F (food, feed, fiber, and fuel) competition 

while only slightly reducing GHG emissions compared to petroleum-based fuels 27. 

Lignocellulosic biomass on the other hand offers the opportunity to utilize biomass 

residues not competing with food resources while achieving significant reductions in 

GHG emissions 28. By 2020 an estimated 550 million tons of lignocellulosic biomass 

could be utilized annually as biofuels feedstock without interfering with land use, water 

use, or food supplies in the United States 26, 29.  

 

II.3 Problem statement 

This study investigates the potential that biomass could offer in the production of ultra-

clean liquid transportation fuels via biomass gasification and Fischer-Tropsch synthesis 

(F-T). In this assessment, the aim is to establish benchmarks for the BTL technology 

that can help to understand how certain variables (e.g. biomass composition) affect 
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potential liquid fuel yield and the techno-economic feasibility of the process. This 

assessment takes into consideration the major challenges facing BTL technology, and 

identifies areas for potential improvement. Several routes are synthesized and 

compared.  

 

II.4 Approach 

Various biomass-to-liquid (BTL) processes may be developed; however, prior to the 

detailed analysis it is important to understand the overarching insights of the system and 

to determine performance benchmarks. The chapter highlights the potential of the BTL 

pathways with a base case to illustrate the major challenges that hinder the economic 

success of the technology relative to the other known similar technologies (gas-to-liquid 

(GTL) and coal-to-liquid (CTL) collectively referred to as the XTL technologies). 

Finally, areas for potential improvement have been identified; to include identification 

of innovative routes to overcome the aforementioned challenges and the technologies 

that need to be developed. 

 

II.4.1 Stoichiometric targeting and benchmarking 

It is important to identify the potential yield for different biomass feedstock independent 

of the process technology chosen. Overall stoichiometric targeting is important in 

determining the performance benchmarks before specific technologies are selected. This 

also allows for current process performance to be gauged against the established targets. 

Synthetic fuel (synfuel) produced from biomass may take numerous and complex 

chemical forms. For simplicity, we take the basic form (-CH2-) n as the building block of 

synfuel.  

 𝐶𝑎𝐻𝑏𝑂𝑐  →  𝑥𝐶𝐻2 + 𝑦𝐶𝑂2 +  𝑧𝐻2𝑂                     (6) 

 

The molecular formula C6H10O5 was taken as representative of cellulose 30.  The 

following stoichiometric equation may be written to represent the complete conversion 
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of cellulose to synfuel, carbon dioxide and water. This theoretical case shows that the 

maximum yield of synfuel is 0.35 kg from one kg of cellulosic biomass.  

𝐶6𝐻10𝑂5  → 4 𝐶𝐻2 + 2𝐶𝑂2 +  𝐻2𝑂                             (7) 

 

Biomass is not homogenous and thus the composition depends on harvesting location, 

and type of biomass. In this study the overall targeting for different biomass 

components was carried out to quantify the potential yield and the effect of oxygen and 

hydrogen content on yield. This shows that the potential synfuel yield can vary ± 25% 

for the different biomass components (Table 1). This can dramatically change the 

economic feasibility of a potential BTL process. It is important to note that municipal 

solid waste (MSW) which has a composition approximated as C6H10O4 
31, has a yield 

potential comparable to other biomass feedstock. The processing of MSW may be more 

challenging compared to other feedstock; however the potential for a low cost 

alternative with comparable yield makes it worth further investigation. 

 

 

Table 1: Stoichiometric synfuel yield of various biomass constituents  

Biomass Model Compound 
Stoichiometric Synfuel Yield 

(kg synfuel/kg biomass) 

Cellulose C6H10O5 0.35 
Glucose C6H12O6 0.31 
Hemicellulose C5H8O4 0.35 
Lignin C10H12O3 0.53 
Furfural C5H4O2 0.49 
Starch C6H10O5 0.35 
MSW C6H10O4 0.41 

 

 

First generation of biomass feedstock such as corn-grain ethanol, are made up primarily 

of starch, which has one of the highest potential yields to produce synfuel. On the other 
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hand, lignocellulosic biomass is composed of cellulose, hemicelluloses, and lignin. Of 

these constituents lignin is the most promising from a yield perspective, however 

currently it is very difficult to breakdown biochemically and hence it is underutilized. 

Our analysis illustrates that the utilization of lignin is important for second generation 

biofuels to maximize the yield potential. The theoretical targeting also shows that 

increasing the hydrogen and decreasing the oxygen content of the biomass results in 

increased synfuel yield and reduced CO2 production. The oxygen content of the biomass 

has a greater negative impact on the potential product yield than the positive impact of 

hydrogen. Thus for two identical processes different feedstock can result in different 

yields. The various biomass feedstock available can lead the same process to having a 

significant yield change depending on which constituents make up the particular 

feedstock. 

 

A similar analysis for gasoline (modeled as C8H18) was conducted; including a first law 

analysis to consider the energy input that would be required for such a reaction to take 

place.  

 𝐶𝑎𝐻𝑏𝑂𝑐  →  𝑥𝐶8𝐻18 + 𝑦𝐶𝑂2 +  𝑧𝐻2𝑂                                   (8) 

 

To determine the heat of reaction for the different biomass components the heat of 

formation of the biomass must be calculated from the following stoichiometric equation: 

 𝑎𝐶(𝑠) +  𝑏

2
𝐻2(𝑔) + 𝑐

2
𝑂2(𝑔)  →  𝐶𝑎𝐻𝑏𝑂𝑐                                                                           (9) 

 

Using Hess’s law of heat summation, the heat of formation of biomass can be calculated 

indirectly using the following reactions (10-12): CO2 formation, H2O formation and 

biomass combustion. 

𝑎𝐶(𝑠) +  𝑎𝑂2(𝑔)  →  𝑎𝐶𝑂2(𝑔)                                     ΔHf1 = -393.51 kJ mol- 1                   (10) 
𝑏

2
𝐻2(𝑠) +  𝑏

4
𝑂2(𝑔)  →  𝑏

2
𝐻2𝑂(𝑔)                                    ΔHf2 = -285.84 kJ mol- 1                    (11) 

𝐶𝑎𝐻𝑏𝑂𝑐 +  𝑎𝑂2(𝑔) →  𝑎𝐶𝑂2(𝑔) +  𝑏

2
𝐻2𝑂(𝑔)               HHV (kJ/g)                                    (12) 
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Thus the heat of formation of biomass can be approximated as follows: 

H°fi,biomass = aΔHf1 + 0.5bΔHf2 -  HHV x MWi               (kJ mol-1)                                (13) 

 

where a, and b are the stoichiometric coefficients for CO2 and H2O respectively, for  

complete combustion of the biomass.  

 

According to De Kam et al. 32, the high-heating value (HHV) of biomass corresponds to 

the enthalpy of combustion. Sheng and Azevedo 33, proposed that the HHV of biomass 

can be estimated from the following correlation: 

HHV = -1.3675 + 0.3137C + 0.7009H + 0.0318O            (kJ/g)                                  (14) 

 

where C,H, and O represent the weight percentage of carbon, hydrogen, and oxygen 

(along with remaining elements), respectively in the biomass.  

 

The findings summarized in Table 2 show that while lignin has the highest gasoline 

yield per mol of biomass it does also have the highest heat input requirement (53 kJ/g).  

 

 

Table 2: Gasoline yield of various biomass components 

Biomass 
Yield  

(mol/mol of biomass) 

ΔHr  

(kJ/mol of biomass) 

ΔHr 

(kJ/g of 

biomass) 

Gasoline 

Yield/Energy 

(g product/kJ) 

 

C8H18 CO2 H2O 

   Cellulose 0.48 2.16 0.68 5,620 34.7 1.58 

Glucose 0.44 2.48 1.04 5,850 32.5 1.54 

Hemicellulose 0.4 1.8 0.4 4,650 35.3 1.29 

Lignin 0.92 2.64 -2.28 9,550 53.0 1.98 

Furfural 0.4 1.8 -1.6 4,320 45.0 1.01 

Starch 0.48 2.16 0.68 5,620 34.7 1.58 

MSW 0.52 1.84 0.32 5,810 39.8 1.49 
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When considering the gasoline yield per unit of energy in kJ lignin has by far the 

highest yield potential.  The results show that regardless of the process, energy input is 

required to convert biomass to gasoline; for example, in gasification this energy is 

provided by the partial combustion of the biomass to release the energy required. 

 

II.4.2 Process development 

Figure 1 shows the base case thermochemical process setup for BTL. The pretreatment 

consists of screening, size reduction and drying. The biomass moisture content is 

reduced to 10-15% 34. Thermochemical conversion of biomass involves the partial 

oxidation in a gasifier at high temperatures to produce syngas which is further cleaned 

and the H2/CO adjusted before being fed to the F-T reactor. The gasification requires a 

supply of oxygen insufficient for complete combustion to maximize the syngas yield 

and reduce CO2 production. 

 

 

 
Figure 1: BTL block flow diagram 

 

 

Following gasification, the syngas is cleaned and the H2/CO ratio adjusted before 

feeding into the F-T reactor 35. A tar cracker is used to breakdown tar and large 

hydrocarbons to increase the yield of H2 and CO (Table 3) 36. The syngas is sent from 

the tar cracker to a scrubber to remove impurities and any remaining tar followed by a 

condenser which removes most of the water 35.  

 

 

Pretreatment Gasification Gas Cleaning 
Syngas 

Adjustment 
Fischer-Tropsch Upgrading 
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Table 3: Tar cracker conversion36 
Compound Conversion to CO & H2 (mol%) 

CH4 20 

C2H6 90 

C2H4 50 

C10+ 95 

C6H6 70 

 

 

The final part of the gas cleaning section is the acid gas removal which separates out 

CO2 and sulfur. Different F-T synthesis catalysts require different H2/CO ratio. Cobalt-

based catalysts require a ratio of 2:1; thus the H2/CO ratio of the syngas must be 

adjusted before being fed to the F-T reactor 37. The biomass gasification produces a 

hydrogen deficient syngas which means that prior to the F-T synthesis hydrogen 

addition is required 34. The needed hydrogen is generated from steam methane 

reforming (SMR) while the syngas ratio is adjusted in a water-gas shift reactor 

(reactions below): 

CH4 + H2O ⇌ CO + 3H2                                                                                               (15) 

CO + H2O ⇌ CO2 + H2                                                                                                (16) 

 

The main reaction which takes place in the F-T reactor is the reaction of carbon 

monoxide with two moles of hydrogen to produce a building block compound of one 

mole of straight chain hydrocarbon that upon propagation produce the synfuel along 

with one mole of water. 

CO + 2H2 → CH2 + H2O                                                                                             (17) 

 

II.5 Results and discussion 

A base case for BTL process (Figure 2) was developed; enriched air (80% O2 and 20% 

air) and steam are used as the gasification agents based on the work conducted by 

NREL and available literature data 6, 21, 34. The base case is used to develop insights into 
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factors which reduce the production rate of synfuel and hinder the economic success of 

the BTL process. 

 

II.5.1 Process results 

The mass and energy balances were established for the base-case to develop a general 

understanding of the BTL process. The overall base case product yield was determined 

to be approximately 0.16 kg of synfuel (C5+) and 0.6 kg of CO2 for each kg of biomass 

fed to the gasifier. The remaining carbon generates light gases (methane, ethane, 

olefins) Around 5.5 kg of wastewater is generated for each kg of synfuel produced.  

 

 

 
Figure 2: BTL Process Flow Diagram (Basis for 100,000 bbl/day) 

 

 

The low feedstock utilization (~16%), high CO2 production rate, and amount of 

wastewater produced hinder the economic viability of the BTL process. It is argued that 

BTL is an environmentally favorable alternative to petroleum derived liquid fuels due to 

biomass uptake of CO2 for growth which can offset the CO2 emissions from the process; 

nevertheless, the CO2 emissions for BTL still constitutes around 60% of the mass of 
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biomass fed to the gasifier and large amounts of wastewater is also generated. It is 

important to note the main source of product yield loss, wastewater generation and CO2 

production in the BTL is the gasification step and in particular, the use of oxygen as the 

gasification agent. Since oxygen is not part of the final product, the oxygen that enters 

the system must exit the system usually as carbon dioxide or water. 

 

Approximately 150,000 tonnes of biomass is required per day to produce 100,000 

bbl/day of synfuel. From equation 14 the HHV of biomass is approximately 14.4 kJ/g. 

Converting the mass of biomass to an energy basis means approximately 20 MMBTU is 

required per bbl of synfuel. On the other hand GTL processes typically require 10 

MMBTU/bbl which is half of that required for BTL processes 38,39. Assuming a barrel of 

synfuel is equivalent to a barrel of crude oil with the energy content approximately 5.5 

MMBTU/bbl, the thermal efficiency of BTL would be 28%. This is similar to the 

thermal efficiencies reported in literature for BTL 6. 

 

In general, one mole of biomass requires six moles of oxygen for complete combustion 

according to the following equation:- 

𝐶6𝐻10𝑂5 +  6𝑂2 → 6𝐶𝑂2 + 5𝐻2𝑂                                                                               (18) 

 

However, partial oxidation of the biomass for syngas generation requires a supply of 

oxygen insufficient for complete combustion. The increase in the amount of oxygen 

supplied reduces the potential synfuel yield and increases CO2 production. The 

equivalence ratio (ER) is defined as the ratio between the amount of oxygen supplied 

and that required for complete combustion. Below are two cases for different 

equivalence ratios:-  

𝐶6𝐻10𝑂5 +   2𝑂2 →  2.67𝐶𝐻2 + 3.33𝐶𝑂2 +  2.33𝐻2𝑂                               (19) 

𝐶6𝐻10𝑂5 +   4𝑂2 →  1.33𝐶𝐻2 + 4.67𝐶𝑂2 +  3.67𝐻2𝑂                              (20) 
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II.5.2 Approaches to overcome current BTL challenges 

There are several challenges facing the F-T-based BTL base case; the following are 

arguably the key challenges: 

 Improvement of feedstock utilization ( to maximize utilization of carbon and 

hydrogen) 

 Reduction of oxygen input: methods must be identified to eliminate, reduce or 

utilize the introduction of oxygen in the process 

 Identification of cost-effective sources for hydrogen input into the process 

 Impact of wastewater generation on process yield loss and environmental impact  

 

These major challenges significantly hinder the economic potential of BTL 

technologies. As previously mentioned the input of energy is necessary to breakdown 

the biomass making the use of oxygen for combustion difficult to avoid. To maximize 

biomass conversion it would be best to completely eliminate oxygen from the 

gasification step and identify an alternative heat source. Some have proposed indirect 

gasification where steam in an adjacent section of the gasifier provides the heat required 

for the reactions 40.   

 

The generation of steam through waste heat or through integration with another process 

would be beneficial. However, generation of the steam through fuel combustion in the 

presence of oxygen would not avoid the CO2 emissions but only move it to another 

section of the overall system. Once CO2 is produced, ways to utilize it as a carbon 

source should be developed instead of being considered an emissions problem. Once 

CO2 is produced, ways to utilize it as a carbon source should be developed instead of 

being considered an emissions problem. The use of pyrolysis rather than gasification 

can also avoid the direct addition of oxygen and the generation of CO2. 

 

The low hydrogen content of biomass is another obstacle in the production of 

transportation fuels. To produce synfuel with hydrogen to carbon ratio of 2:1 a 
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hydrogen input is required. The stoichiometric targeting shows that hydrogen addition 

using a hydrogen to biomass molar ratio of 3:1 leads to a synfuel yield increase from 

0.35 kg to 0.42 kg synfuel/kg of feedstock (biomass and hydrogen). Thus the addition of 

one kg of hydrogen results in a synfuel yield increase of 2.33 kg. It will also lead to a 

50% reduction in the amount of CO2 produced. 

𝐶6𝐻10𝑂5  → 4 𝐶𝐻2 + 2𝐶𝑂2 +  𝐻2𝑂                                                  (21) 

𝐶6𝐻10𝑂5 + 3𝐻2 → 5𝐶𝐻2 + 1𝐶𝑂2 + 3𝐻2𝑂                                         (22) 

 

The addition of hydrogen increases operating cost and capital investment for a water-

gas-shift (WGS) reactor and steam reformer (SR). However hydrogen doesn’t have to 

enter the system directly but instead from another hydrogen source such as water or 

natural gas. Water addition into the process would be through the use of indirect 

gasification. It would avoid oxygen addition and provide a hydrogen source to the 

system. However from an overall system analysis the addition of water would not 

improve the synfuel yield potential. The water that enters the process will leave the 

process. It is also important to note the considerable quantity of energy to produce steam 

capable of raising the gasifier temperature sufficiently for biomass conversion.   Thus 

effectively there is no increase in hydrogen input as shown in equations 23 and 24: 

𝐶6𝐻10𝑂5  → 4 𝐶𝐻2 + 2𝐶𝑂2 +  𝐻2𝑂                                                      (23) 

𝐶6𝐻10𝑂5 + 𝐻2𝑂 → 4𝐶𝐻2 + 2𝐶𝑂2 + 2𝐻2𝑂                                              (24) 

 

Direct methane addition to the process provides a hydrogen rich feedstock and a source 

of carbon for synfuel production. Theoretically the hydrogen content of methane should 

counter the hydrogen deficiency of biomass in the process. Our assessment shows that 

methane addition using a molar ratio 3:1 (methane to biomass) would lead to a synfuel 

yield increase from 0.35 kg to 0.53 kg for 1 kg of feedstock (biomass and methane) and 

a 50% reduction in the amount of CO2 produced. The methane provides an excess of 

hydrogen which allows oxygen to exit as water. This frees carbon to form product 

instead of producing CO2 as shown in Eqn. 26 below. 
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𝐶6𝐻10𝑂5  → 4 𝐶𝐻2 + 2𝐶𝑂2 +  𝐻2𝑂                                                   (25) 

𝐶6𝐻10𝑂5 + 3𝐶𝐻4 → 8𝐶𝐻2 + 1𝐶𝑂2 + 3𝐻2𝑂                                          (26) 

  

When conducting a comparison between methane and hydrogen addition our findings 

show that the addition of one kg of hydrogen produces slightly more synfuel (0.1 kg per 

kg) and less CO2 than methane addition. Since hydrogen is commercially produced 

using steam reforming of methane and the cost of hydrogen is approximately 10 folds 

the price of natural gas, the addition of methane to the system would be the most 

economical option.   

 

Thus there is no need for the direct addition of hydrogen. Opportunities for the direct 

use of natural gas should be identified.  

𝐶6𝐻10𝑂5 + 3𝐻2 → 5𝐶𝐻2 + 1𝐶𝑂2 + 3𝐻2𝑂                                              (27) 

𝐶6𝐻10𝑂5 + 0.375𝐶𝐻4 → 4.5𝐶𝐻2 + 1.875𝐶𝑂2 + 1.25𝐻2𝑂                                 (28) 

 

The conversion of biomass to F-T liquids is a net generator of water. The large amount 

of wastewater produced represents a process yield loss along with an environmental 

challenge. Mass integration and recycle techniques can be used to clean and reuse the 

wastewater generated in units which require water. This can reduce the amount of 

freshwater required along with wastewater treatment and disposal. A simple cleaning 

and recycle of wastewater can displace the fresh water used in the form of steam during 

gasification. This would reduce the amount of wastewater requiring disposal to 

approximately 2kg per kg of synfuel. Another possibility is the cleaning and utilization 

of this water in processes which are water deficient. 

 

Current research efforts are focusing on synergetic systems that can benefit from 

biomass and natural gas in a combined system. These systems would not only combine 

natural gas and biomass but find ways to take full advantage of their inclusion for mass 

and energy purposes. These systems would aim to utilize biomass as a renewable carbon 
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rich source, a way to offset CO2 emissions and natural gas as a cheap hydrogen rich 

source. This combined system centered on syngas generation and conversion would also 

offer process flexibility resulting in a system with a better economic potential than 

stand-alone BTL processes.  

 

II.5.3 The oxygen dilemma 

Oxygen is the primary oxidizer in a wide variety of industries. If oxygen is not part of 

the final product it strips CO2 or H2O away from generating product while leading to 

emissions and wastewater problems. Looking at the water-gas shift reaction which is 

part of many systems involving syngas, there is always a tradeoff between CO and H2 

generation. The WGS reaction raises questions about which is more valuable hydrogen 

or carbon. 

CO + 𝐻2O ⇌ C𝑂2 + 𝐻2                                                           (29) 

 

Various syngas conversion options relay on reactions involving H2 and CO. From the 

WGS reaction it is apparent that since the two species are on opposite sides of the 

equation that pushing the equilibrium one of the two ways results in higher CO or H2 

yield but not both.    Thus there is a process decision to be made and due to economic 

considerations, process engineers have mostly concluded that hydrogen is more valuable 

than carbon. Thus the goal has been to shift the equilibrium when needed to produce 

more hydrogen. This decision directly contributes to CO2 generation and emission.  

 

With the abundance of seawater (a source of hydrogen), renewable sources of hydrogen, 

and with the adoption of stricter emission standards, we believe that the economics may 

dictate a new balance where carbon has a higher value than hydrogen. As a result of this 

shift more CO would be produced leading to higher product yields, lower CO2 

emissions and the production of water which may not be drinking water quality but may 

be utilized for agricultural or industrial purposes reducing the use of clean water 

otherwise needed. A new balance between yield improvement, greenhouse gas 
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emissions, water management and economics can lead to unique solutions which not 

only make economic sense but also make a social difference. 

 

II.6 Conclusions 

Lignocellulosic biomass including municipal solid wastes can be used to produce liquid 

transportation fuels avoiding the 4-F dilemma. Our study shows that based on the 

feedstock used and its composition the potential synfuel yield can vary ± 25% for the 

different biomass components while using the same BTL process. The utilization of 

lignin is important to maximize the yield potential for second generation biofuels. The 

product yield for the BTL base case was determined to be approximately 0.16 kg of 

synfuel and 0.6 kg of CO2 generation for each kg of biomass fed to the gasifier.  

 

The analysis also shows that up to 4 kg of wastewater may be generated for each kg of 

synfuel produced. Low feedstock utilization, high CO2 production, and wastewater 

generation hinder economic viability of current BTL processes. The main source of 

product-yield loss, wastewater generation and CO2 increased production is the 

gasification step; particularly the use of oxygen as the gasification agent. Since oxygen 

is not part of the final fuel product, the oxygen that enters the system exits the system as 

carbon dioxide or water.  

 

A system to utilize biomass and natural gas would take advantage of the synergy 

between the biomass and the fossil feedstocks while minimizing oxygen input through 

heat integration, process intensification, and indirectly through proper mass integration. 

The exit of oxygen from the system as CO2 or H2O requires a new approach which takes 

into account yield improvement, greenhouse gas emissions, and water management 

while passing the challenge of techno-economic feasibility.   

 

The results indicate that stand-alone biomass-to-liquid transportation fuel processes face 

many challenges that make it difficult to commercialize. This means that the 
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commercial success of BTL processes will be limited to specific cases. This includes 

presence of government incentives or the lack of alternative feedstock. It is more likely 

the biomass can be used to displace the use of petroleum for chemical production. The 

higher product margin means that biomass conversion can be economically viable.  

 

If biomass is to be used for liquid transportation fuel production it may be necessary to 

integrate with other feedstock. Syngas may be an important intermediate in integrating 

biomass with other feedstock (e.g. natural gas, coal) but also conversion to a wide range 

of products (F-T liquids, methanol, acetic acid). The next chapter discusses the different 

reforming technology to produce syngas and the selection of the appropriate technology.   
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CHAPTER III 

OPTIMIZATION AND SELECTION OF REFORMING APPROACHES FOR 

SYNGAS GENERATION FROM NATURAL/SHALE GAS* 

 

III.1 Introduction 

Synthesis gas or syngas (a mixture of CO and H2) has long been an important feedstock 

in the chemical industry because of the flexibility it offers in process design 24,41, . It can 

be derived from a variety of sources (e.g. natural gas, shale gas, biomass, or coal) and 

can be converted into a wide range of products including chemicals, clean fuels and 

polymers42, 43. Syngas generation is an essential part of ammonia production, methanol 

synthesis, and Fischer-Tropsch (F-T) synthesis, and can constitute a substantial portion 

of the capital investment 44.  

 

Reforming of natural gas is the most widely used method for syngas generation 45. The 

four main routes for syngas generation from natural gas are:  Steam reforming (SR), 

partial oxidation (POX) and dry reforming (DR) 46. Combinations of these reforming 

approaches can also be used and will be explained later. Each route uses a different 

oxidizing agent (i.e. water, oxygen, carbon dioxide) and operating conditions to 

produces syngas with different compositions and H2/CO ratios. The purpose of this 

work is to develop a systematic tool capable of modeling and optimizing the selection of 

the appropriate reformer to achieve the particular process or economic objectives such 

as cost H2 production, H2: CO ratio, etc. The work is also extended to shale gas 

reforming and shows that the composition of the shale gas has a significant impact on 

potential yields.  

 

 

 
*Reprinted with permission from “Optimization and Selection of Reforming Approaches for Syngas Generation from 
Natural/Shale Gas*” by Mohamed M. B. Noureldin, Nimir O. Elbashir, Mahmoud M. El-Halwagi, 2014. Industrial & 
Engineering Chemistry Research, Copyright 2014 American Chemical Society. 
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III.2 Literature review 

Steam reforming is the catalytic conversion of natural gas in the presence of steam 47.  

Steam reforming has been the predominant commercial technology for syngas 

generation and in particular hydrogen production producing about 50% of the global 

hydrogen demand 48.  Partial oxidation of natural gas is an exothermic, non-catalytic 

reaction involving oxygen 49. Dry reforming is the endothermic conversion of natural 

gas and carbon dioxide to syngas in the presence of a catalyst 50, 51. 

Steam Reforming 

CH4 +  H2O → CO + 3H2         ΔH298 = 206 kJ/mol     (30) 

Partial Oxidation  

CH4 +  O2
1

2 → CO + 2H2           ΔH298 = -36 kJ/mol     (31) 

Dry Reforming 

CH4 +  CO2 → 2CO + 2H2         ΔH298 = 247 kJ/mol     (32) 

 

Different applications require varying H2: CO, making it an important variable for 

syngas generation. Steam reforming produces a hydrogen-rich syngas with a H2: CO 

ratio close to 3:1, in practice the ratio can be as high as 5:1 depending on conversion;   

however SR suffers from a high energy requirement 52. On the other hand, POX is 

exothermic, produces a syngas with a H2: CO ratio close to 2:1 and can be carried out 

without the presence of a catalyst 21. Air separation plants are used to produce pure 

oxygen avoiding larger process units due to nitrogen dilution 53.  

 

From a safety perspective, the exothermic nature of POX can be a concern due to the 

risk of hotspot formation and runaway reactions 54, 55.  Dry reforming of methane 

produces a syngas rich in CO with a H2/CO ratio close to 1:1 56. The commercial 

application of dry reforming has been hindered by the need for a large concentrated CO2 

source, large energy input, and the deactivation of catalyst due to solid carbon 

deposition 57. However, the prospect of utilizing two greenhouse gases to produce a 

useful product makes dry reforming an important option to consider 58. 
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Combined reforming offers the opportunity to take advantage of the benefits and 

reducing drawbacks associated with each reforming technology. Autothermal 

reforming, a combination of SR and POX, allows for better temperature control of the 

reactor 54. The H2/CO ratio can also be tailored for a variety of applications by varying 

the feed composition and operating conditions 59. Autothermal reforming offers several 

benefits pertaining to heat usage/generation and H2: CO ratio. Combining steam and dry 

reforming has been proposed to mitigate the carbon deposition problem related to dry 

reforming60-63. Combining partial oxidation with dry reforming has been suggested to 

overcome the large energy input required for dry reforming and to help reduce carbon 

formation64-70. Song et al. 71 proposed tri-reforming, the synergetic combination of H2O, 

O2, and CO2 to reform natural gas in a single reactor. Recent research has focused on 

catalyst preparation and performance for tri-reforming72-74.  

 

Reformer selection is not a straightforward decision. Depending on the desired 

objectives and the process circumstances (e.g. excess process heat, availability of steam, 

and cost of oxygen versus natural gas); the selection of an optimal reforming approach 

can be very different. This is highlighted by the two major gas-to-liquid (GTL) plants in 

the world (located in Qatar), where the Shell Pearl and the Sasol/Chevron Oryx GTL 

projects use POX and ATR respectively. It is also important to consider that while the 

syngas requirement is similar for the subsequent F-T section, the F-T reactor technology 

is also different for the two projects. This reformer selection has significant process 

design implications such as: process yield, energy requirement, CO2 emissions, and 

wastewater generation along with operation implications including: catalyst life 

(coking) and process safety75.  

 

III.3 Problem statement 

This work aims to develop a systematic framework capable of modeling and optimizing 

reformers for particular objectives. This is intended as part of a larger optimization 

based process synthesis approach aiming to maximize syngas generation, recovery, and 
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conversion to generate processes that are more economic, environmentally friendly, 

flexible and safer to operate 

The purpose of this work is to develop a systematic tool capable of: 

 Reformer Modeling – For a particular reformer, given specific inputs and 

operating conditions determine the syngas composition  

 Reformer Selection – For a particular objective, what is the appropriate 

reformer to achieve the objective including inputs and operating conditions? 

These objectives can be specifically defined (i.e. maximize hydrogen generation) 

or based on economic criteria (i.e. maximum economic benefit).  

 

III.4 Approach 

Equilibrium modeling provides a target based on thermodynamic trends and limits. 

While in practice reactors may not operate at equilibrium, literature sources indicates 

that modern-day catalysts are able to achieve compositions close to equilibrium for 

reforming systems 60, 64, 71, 76. This is particularly true at higher temperatures where 

reforming occurs to take advantage of the higher H2 and CO yields 77, 78. Equilibrium 

modeling is also important in establishing how the system responds as certain variables 

change such as a temperature increase or pressure drop helping to give important 

insights into the system.   

 

In general, two methods are used to calculate the equilibrium composition of a system: 

the method of equilibrium constants and the total Gibbs free energy minimization 

method 79, 80. Various thermodynamic studies have been reported in literature using both 

methods for the various reforming options 81-89. These studies are used to establish the 

effect of feed and operating conditions on factors such as natural gas consumption or 

hydrogen yield from a thermodynamic perspective 82-84. The equilibrium constants 

method is widely used and is most applicable to relatively simple systems composed of 

two or three reactions, however; it is difficult to reproduce for complex systems with a 

large number of reactions 79. It is also important to ensure independent reactions and the 
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accuracy of the model is limited to the reactions considered 79, 90. In complex systems 

the omission of a significant reaction from the formulation can result in incorrect 

compositions. Thus the method of equilibrium constants is not suited for general 

solution methods of complex systems 80. 

 

The total Gibbs free energy minimization method is more suited for complex systems 

and multiphase systems 80. At equilibrium the total Gibbs free energy is at its minimum 

value and thus this can serve as a criterion for equilibrium including for multiple 

reactions 80. The total Gibbs free energy of a system of ith species can be expressed as 91: 

                                  (33) 

 

where Gt is the total Gibbs free energy, ni is the number of moles of species i, Ḡi is the 

partial molar Gibbs free energy of species i, μi is the chemical potential, 𝐺𝑖
0 is the 

standard Gibbs free energy, R the molar gas constant, T temperature (K), 𝑓i the fugacity, 

𝑓𝑖
0 the standard state fugacity. For a reactive ideal gas system, the following 

assumptions can be made: 𝐺𝑖
0 = ∆𝐺𝑓𝑖

0  , 𝑓i = yiɸ̂iP, 𝑓𝑖
0 = P0 where P is the pressure of the 

system and P0 is 1 bar 80.  

 

The method of Lagrange’s undetermined multipliers is used to find the set of ni which 

minimizes Gt for a specified temperature and pressure 80. Thus the minimum Gibbs free 

energy can be expressed as Eq. (34): 

                                            (34) 

 

where ∆𝐺𝑓𝑖
0  is the standard Gibbs of formation of species i, ɸ̂i is the fugacity coefficient 

of species i, and λk the Lagrange multiplier for element k, subject to the mass balance 

constraints: 
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                                                                                                       (35) 

where aik is the number of atoms of the kth element and Ak  is the total mass of the kth 

element. 

 

The N equilibrium equations for each chemical species and w atomic mass balances give 

a total of N + w equations. There are N unknowns for each ni  of each species i  and w 

lagrange multipliers λk for each element giving a total of N + w unknowns. Thus, a 

sufficient number of equations are present to determine all the unknowns 80. The choice 

of chemical reactions never enters directly into the Gibbs free energy minimization 

method; however, the choice of species is very important since the omission of species 

with a significant role in the thermodynamics of the system would lead to incorrect 

compositions 80. 

 

III.5 Model development 

A mathematical model was developed capable of calculating the equilibrium 

composition and corresponding energy balance for the various reforming options using 

the method of Lagrange’s multipliers based on the total Gibbs energy. The following 

chemical species were chosen to accurately represent the reforming system: CH4 (g), CO2 

(g), CO (g), H2O (g), H2 (g) and solid carbon modeled as graphite C(s). To account for the 

solid carbon in the system Eq. (34) becomes: 

                          (36) 

 

Thus for given inputs, temperature, pressure and data for ∆𝐺𝑓𝑖
0  at corresponding T and P 

the composition can be calculated. To ensure a systematic approach correlations for the 

dependence of ∆𝐺𝑓𝑖
0  and ∆𝐻𝑓

0  on temperature were developed for each species based on 

data obtained for a wide temperature range (300-2,000 K) from “Handbook of 

Chemistry & Physics (92nd Edition)”. These correlations were in the form of quadratic 



 

27 

 

equations with an error ±1% compared to the original data. For a given temperature the 

correlations calculate the corresponding ∆𝐺𝑓𝑖
0  and ∆𝐻𝑓

0. The model was developed in 

optimization software (LINGO ®) and also implemented in MATLAB ® for 

verification and to generate plots highlighting thermodynamic trends. The results were 

also validated using the RGibbs reactor in Aspen Plus® and literature sources which 

utilize HSC Chemistry®.  

 

The following sections detail the results including: 

 Reformer Modeling – This is presented in the section thermodynamic trends 

and highlights some of the valuable insights. 

 Reformer Selection – This section is divided into process and economic 

objectives. 

o Process Objectives – Optimal reformer and operating conditions to 

achieve a particular process objective such as maximum hydrogen 

generation or minimum CO2 emissions. 

o Economic Objectives – Optimal reformer and operating conditions to 

maximize economic benefit including various scenarios and constraints.  

 

III.6 Results 

III.6.1 Thermodynamic trends 

The model was solved for the various reforming options using MATLAB® to generate 

plots highlighting the effect of change to reformer inputs and operating conditions on 

specific variables. The model determines equilibrium composition along with reactor 

energy balance for given operating and feed conditions. The generation of water and 

carbon dioxide in the reactor makes it difficult to determine their conversion directly, 

instead the apparent conversion is considered.  

 

The external heat input (HExternal) was calculated from the reactor energy balance. A 

positive Hexternal indicates the need for external heating while a negative Hexternal value 



 

28 

 

means that the reactor is exothermic and that heat is to be removed.  A general trend for 

the various reforming options is increased CH4 conversion, H2O and CO2 generation as 

the oxidizer input (CO2, H2O, and O2) is increased. The following sections summarize 

the effect of temperature and oxidizer input on a variety of reformer outputs. 

 

III.6.1.1 Steam reforming (SR) 

Figure 3 shows the effect of temperature on the equilibrium composition for steam 

reforming. The temperature has a significant impact on the equilibrium composition and 

in particular for H2 and CO generation.  

 

 

 
Figure 3: Effect of temperature on equilibrium composition for SR (CH4:H2O = 1:1) P = 1 bar 

 

 

Higher temperatures favor greater H2 and CO generation, higher CH4 conversion, while 

lowering CO2 generation and suppressing solid carbon (C) formation. The H2/CO ratio 

is closer to 3:1 at higher temperatures as is expected from literature and stoichiometry.      
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The CH4 conversion and hydrogen generation are enhanced by increasing the steam to 

methane (S: C) ratio (Figure 4).  

 

The increase in steam input results in more hydrogen entering the system and thus 

available to generate H2; it also allows more CH4 to react increasing CH4 conversion. 

On the other hand, the increase in steam input leads to lower steam conversion and CO 

yield. The water-gas shift reaction plays an important role in reforming systems. As 

more steam is fed into the system, the equilibrium shifts to converting CO along with 

steam to H2 and CO2.  

 

 

 
Figure 4: Effect of CH4:H2O ratio on conversion and syngas yield in SR (P = 1 bar) 
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Thus the more steam fed the more CO is converted, lowering the amount of CO 

generated while simultaneously increasing the amount of CO2 produced. The plot for 

hydrogen yield shows a clear maximum at a particular temperature beyond which the 

yield begins to slightly decrease. On the other hand, the carbon monoxide yield appears 

to continue to increase with higher temperatures. These trends can be attributed to 

competition between the steam reforming and reverse water-gas shift reactions 

(RWGS). As the temperature increases beyond 1000 K the RWGS reaction becomes 

more dominate and begins to consume more hydrogen than produced by the steam 

reforming reaction. This also explains the increase in carbon monoxide yield with 

temperature due to carbon monoxide generation by the steam reforming and RWGS 

reaction. 

 

The higher the steam to methane ratio the lower the temperature required for complete 

methane conversion. Changes in the steam to methane ratio also impact H2O generation, 

CO2 generation, energy input and solid carbon formation (Figure 5). The endothermic 

nature of steam reforming leads to an energy input increase as the steam feedrate 

increases. An increase in the steam to methane ratio from 1:1 to 2:1 also leads to a 

dramatic suppression of solid carbon formation. These results are confirmed by 

experimental results and observed in thermodynamic studies in literature 77. 

 

Doubling the steam to methane ratio only slightly increases the hydrogen yield while 

leading to a considerable increase in the energy input requirement. This tradeoff means 

that an optimal ratio to maximize the benefit of steam addition is needed. These insights 

help to confirm current commercial hydrogen production and the utilization of steam 

reforming at higher temperatures (approximately 1100 K) and higher CH4:H2O ratios 

(1:3) to maximize hydrogen production while suppressing solid carbon formation. 

However as energy costs and environmental constraints become more stringent these 

constraints lead to new choices to maximize hydrogen production while adjusting to 

these new constraints.  
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Figure 5: Effect of CH4:H2O ratio on CO2 and H2O generation, energy input and carbon 

deposition in SR (P = 1 bar) 

 

 

III.6.1.2 Partial oxidation (POX) 

To maximize the syngas yield while reducing CO2 and H2O generation, partial oxidation 

requires a supply of oxygen insufficient for complete combustion. Figure 6 illustrates 

the impact of temperature on the equilibrium composition for partial oxidation. As is the 

case with steam reforming, the increase in temperature increases CH4 conversion, H2 

generation, CO generation, and reduces CO2 generation, H2O generation along with the 

suppression of solid carbon formation. The H2/CO ratio reaches 2:1 at higher 

temperature compared to steam reforming which approaches 3:1. 
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Figure 6: Effect of temperature on equilibrium composition for POX (CH4:O2 = 1:0.5) P = 1 

bar. 

 

 

At higher oxygen to methane ratios complete combustion begins to dominate reducing 

CO and H2 yield while increasing H2O and CO2 generation. The oxygen to methane 

ratio (O: C) was varied between 0.25:1 and 1:1 to establish the impact on key 

performance variables (Figures 7 and 8). Complete conversion of oxygen occurs during 

partial oxidation and only decreases as oxygen feed exceeds the amount required for 

complete combustion (2 mol O2/ mol of CH4).  

 

A higher O: C ratio reduces the hydrogen yield decreases and has a mixed effect on 

carbon monoxide generation occurs. Initially the increase in O: C ratio leads to greater 

generation of carbon monoxide; however, as discussed earlier, as the oxygen feedrate 

increases more complete combustion takes place and thus CO2 is favored over CO.  This 

also explains the decrease in hydrogen generation as complete combustion produces 

H2O reducing the hydrogen available for H2 generation.  
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Figure 7: Effect of CH4:O2 ratio on conversion and syngas yield in POX (P = 1 bar) 

 

 

The exothermic nature of POX means that an increase in the O: C ratio results in an 

increased energy output which may consider further safety considerations. Thus unlike 

steam reforming heat needs to be removed in POX; however, it also increases the risk of 

hot spot formation and runaway reactions posing a threat to the process safety 54, 55. 

Suppression of solid carbon formation is also favored by an increase in oxygen addition 

allowing operation at lower temperatures without the risk of solid carbon formation. 
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Figure 8: Effect of CH4:O2 ratio on waste production, energy input and carbon 

deposition in POX (P = 1 bar) 

 

 

III.6.1.3 Dry reforming (DR) 

Similar to SR and POX, hydrogen and carbon monoxide generation is favored at higher 

temperatures in dry reforming (Figures 9-10). It should also be noted that the H2: CO 

ratio is much lower than the other reforming technologies (closer to 1:1). Higher 

temperatures help to suppress solid carbon formation; however, this occurs at 

temperatures approximately 200 degrees higher than required in steam reforming.  
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Figure 9: Effect of temperature on equilibrium composition for dry reforming (CH4:CO2 = 1:1) 

P = 1 bar 

 

 

 
Figure 10: Effect of CH4:CO2 ratio on conversion and syngas yield in dry reforming (P = 1 

bar) 
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Increased carbon dioxide input results in increased generation of H2O and CO2 (Figure 

9). Similar to steam reforming, the endothermic nature of dry reforming results in a 

greater energy input requirement as input of carbon dioxide increases. As seen 

previously with SR and POX, an increase in the amount of oxidizer fed to the reactor 

(i.e. steam, oxygen, carbon dioxide) leads to increased CH4 conversion (Figure 10). An 

increase in the carbon dioxide input lowers CO2 conversion similar to H2O conversion 

during steam reforming. Steam reforming and dry reforming have opposing trends with 

respect to H2 and CO generation. As the amount of carbon dioxide fed increases, CO 

formation increases and H2 formation decreases due to reverse water-gas shift reaction 

dominating.  

 

 

 
Figure 11: Impact of CH4:CO2 ratio on CO2 and H2O production, energy input and 

carbon deposition in dry reforming (P = 1 bar) 
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III.6.2 Combined reforming effects 

As discussed earlier, combined reforming offers the opportunity to take advantage of the 

benefits of each reforming technology while reducing the drawbacks with Autothermal 

reforming being an industrial example of combined reforming. Scenarios were carried 

out in Lingo and verified with Aspen to establish the impact of adding each oxidizer to 

the various reforming technologies including tri-reforming (Table 4).  The two 

overriding trends are increased CH4 conversion and waste generation (CO2, H2O) with 

respect to combined reforming. 

 

 

Table 4: Effect of adding various oxidizing agents to reforming technologies 

Oxidizer Addition O2 H2O CO2 

Input Conversion    

CH4 ↑ ↑ ↑ 

H2O ↓ ↓ ↓ 

CO2  ↓ ↓ ↓ 

O2 − − − 

Products    

CO ↓ ↓ ↑ 

H2 ↓ ↑ ↓ 

By-products/waste    

H2O ↑ ↑ ↑ 

CO2 ↑ ↑ ↑ 

Operation    

Energy Input ↓ ↑ ↑ 

Carbon Deposition ↓ ↓ ↓/↑ 
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The conversion of O2 is unaffected by the addition of H2O or CO2 in combined 

reforming, while the apparent conversion of H2O and CO2 is reduced by the insertion of 

an additional oxidizer. From a reaction point of view, the partial oxidation reaction is 

favored over steam and dry reforming due to its exothermic nature thus explaining why 

O2 conversion is unaffected.  The additional oxidizer added to steam or dry reforming 

increases the amount of H2O and CO2 produced thus appearing to reduce the apparent 

conversion of steam and carbon dioxide respectively. The addition of oxygen to dry 

reforming reduces the need for an external heat input but drastically reduces CO2 

consumption.  

 

Thus there is the need for heat input to sequester CO2 in a reactor by consuming more 

CO2 than is produced.  Changes to the tradeoff between energy costs and environmental 

constraints may lead to new configurations which are able to satisfy the new constraints. 

Water and carbon dioxide addition increase the hydrogen and carbon monoxide yields 

respectively as they provide sources of hydrogen and carbon. Carbon dioxide addition 

increases the risk of solid carbon deposition in most situations; however, in some 

particular situations the addition of excess carbon dioxide at elevated temperatures can 

lead to a suppression of solid carbon formation. These trends provide valuable insight 

into reformer design and aid in understanding the value of each oxidant in an integrated 

system.  

 

III.6.3 Optimization formulation 

To allow the optimization software to choose the reformer inputs and operating 

conditions to achieve a particular objective the inputs were defined as: 

ninCH4 = 1 mol                   (37) 

ninCO2 = X · ninCH4             (38) 

ninH2O = Y · ninCH4            (39) 

ninO2   = Z · ninCH4                       (40)
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where X,Y,Z correspond to the number of moles of CO2, H2O, and O2 fed respectively 

per mol of CH4. 

 

The input temperature was assumed to be 300K while the final temperature of the 

reactor (Tout) is allowed to vary as an optimization variable.  

The process variables are allowed to vary as follows: 

500 ≤ Tout (K) ≤  1500           (41) 

0 ≤ x ≤  4             (42) 

0 ≤ y ≤  4             (43) 

0 ≤ z ≤  2             (44) 

x + y + z ≤  4             (45) 

 

The oxygen required for complete combustion of methane is 2 moles oxygen per mole 

CH4; thus z was not allowed to exceed 2 since the excess oxygen would simply exit the 

system unreacted. The amount of oxygen required for partial oxidation is typically less 

than 1 mol of oxygen per mol of CH4. The conversion of natural gas to hydrogen and 

carbon monoxide is suppressed as the pressure increases therefore to simplify the model 

and reduce the problem size the pressure was assumed to be 1 bar. The sum of oxidizers 

input was constrained not to exceed four moles per mole of methane. 

 

As part of the analysis, the impact of a carbon tax on various reforming options is 

explored. To better compare the CO2 output of the various reforming options, the CO2 

output was assumed to include the reformer CO2 output and the CO2 output as part of 

the external heat generation through the burning of natural gas. Thus the sequestration 

of CO2 in the reformer would be defined as: 

𝑀𝐶𝑂2
𝑅𝑆 =  𝑀𝐶𝑂2

𝑅𝐼 −  𝑀𝐶𝑂2
𝑅𝑂 −  𝑀𝐶𝑂2

𝐸           (46) 

 

𝑀𝐶𝑂2
𝑅𝑆  , 𝑀𝐶𝑂2

𝑅𝐼  , 𝑀𝐶𝑂2
𝑅𝑂 , 𝑎𝑛𝑑 𝑀𝐶𝑂2

𝐸  are accounted for relative to one  mole of methane fed 

to the reformer. 
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where, 

 𝑀𝐶𝑂2
𝑅𝑆  is the number of moles of CO2 emissions avoided by the reformer, 

 𝑀𝐶𝑂2
𝑅𝐼  is the number of moles of CO2 fed to the reformer, 

 𝑀𝐶𝑂2
𝑅𝑂  is the number of moles of CO2 generated in the reformer,  

 𝑀𝐶𝑂2
𝐸  is the number of moles of CO2 produced during external heat generation by 

combusting methane 

 

III.6.4 Process objectives 

Syngas is generated for hydrogen production or as a mixture with a particular ratio 

requirement for downstream processing (e.g. F-T synthesis). Therefore, when 

determining the appropriate reforming or combined reforming technology it is important 

to consider the two particular goals separately. Syngas generated for hydrogen 

production strives to maximize hydrogen yield, for such an application the addition of 

CO2 to increase CO yield would not be beneficial for the system. When the goal is to 

produce the mixture containing both with a certain ratio then there are different 

constraints. The analysis is broken down to distinguish between hydrogen production 

and syngas as a chemical feedstock. 

 

III.6.4.1 Hydrogen production 

Table 5 illustrates that the maximum hydrogen yield per mole of methane is achieved by 

steam reforming at approximately 980 K and the maximum S: C ratio allowed in the 

optimization (4:1). The input of water in steam reforming provides an additional source 

of hydrogen leading to higher yields. On the other hand, the addition of carbon dioxide 

or oxygen does not introduce hydrogen into the system and thus the maximum hydrogen 

generated for POX or DR would come from the methane exclusively (2 mol per mole of 

methane).  
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Table 5: Optimal inputs for maximum hydrogen yield per mole of methane 

Syngas Technology ∑ (XYZ) X Y Z T (K) mol H2/mol CH4 

SR 4.0 - 4 - 980 3.5 

DR 1 1 - - 1500 2.0 

POX 0.5 - - 0.5 1500 2.0 

Thermal Decomposition - - - - 1500 2.0 

 

 

Thermal decomposition (Reaction 47) is a comparable alternative to reforming which 

can produce 2 moles of H2 per mole of CH4 while resulting in minimal CO2 formation. 

The decomposition doesn’t require a catalyst and the solid carbon can be utilized as a 

revenue stream substituting for carbon black. Table 6 summarizes the maximum 

hydrogen yield when some additional constraints on external heat input and CO2 

generation are included. All of the reforming options produce carbon dioxide due to the 

introduction of oxygen into the reactor; thermal cracking of methane is the option that 

produces no CO2 since no oxygen is introduced into the reactor. However, the 

endothermic natural of thermal decomposition means that external heat would need to 

provided and lead to CO2 emissions. 

                                                          (47) 

 

If a constraint is added requiring the reformer to be CO2 neutral, the maximum 

hydrogen yield is 3 moles of hydrogen per mole of methane and can be achieved by 

combining steam and dry reforming. This yield is approximately 85% of the maximum 

previously mentioned using steam reforming (3.5 mol H2/mol CH4). If a tougher 

constraint is added demanding the CO2 input to balance out the CO2 produced in the 

reformer and during external heat generation then the maximum hydrogen yield is 2.6 

moles of hydrogen per mole of methane. A CO2 neutral reforming system is thus 

possible with a yield approximately 75% of the maximum discussed earlier. The lower 

yield means reduced revenue and therefore such a CO2 neutral configuration would only 
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compete if tough carbon taxes are introduced. In such a situation the benefit from 

avoided taxes may offset the loss in revenue; this is investigated further as part of the 

top-level economic analysis. 

 

 

Table 6: Optimal inputs and operating conditions for maximum hydrogen yield per 

mole of methane given various constraints 

Constraint Syngas Technology ∑ (XYZ) X Y Z T (K) mol H2/mol CH4 

1 Thermal Decomposition - - - - 1500 2.0 

2 DR + SR 4 0.35 3.65 - 1490 3.0 

3 DR + SR 1.1 0.44 0.66 - 1250 2.6 

4 SR + POX 2.4 - 1.65 0.73 941 2.0 

5 DR + POX 0.67 0.09 - 0.58 1116 1.8 

1- 𝑀𝐶𝑂2
𝑅𝑂  = 0  

2- 𝑀𝐶𝑂2
𝑅𝐼 =  𝑀𝐶𝑂2

𝑅𝑂  

3-  𝑀𝐶𝑂2
𝑅𝐼 =  𝑀𝐶𝑂2

𝑅𝑂 +  𝑀𝐶𝑂2
𝐸  

4- HExternal = 0 

5- HExternal = 0  and    𝑀𝐶𝑂2
𝑅𝐼 =  𝑀𝐶𝑂2

𝑅𝑂 +  𝑀𝐶𝑂2
𝐸  

 

 

Hydrogen production without an external heat source helps to avoid the operating cost 

involved with the heating requirement and the volatile energy prices. An Autothermal 

reforming can be utilized to maximize hydrogen generation while removing the need for 

external heating. The maximum hydrogen yield for such a system is approximately 60% 

of the maximum achieved using steam reforming. Removing the need for external 

heating has a more detrimental impact on the achievable hydrogen yield than requiring a 

CO2 neutral configuration. Combining those two constraints further lowers the 

achievable hydrogen yield to 1.8 moles per mole of methane approximately 50% of the 

maximum hydrogen yield mentioned earlier.  
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III.6.4.2 Syngas production 

A variety of applications utilize syngas with specific H2/CO ratios. Table 7 shows that 

dry reforming has the highest yield of syngas per mole of methane; however, this syngas 

has a very a low H2: CO ratio needing the addition of hydrogen for utilization in 

downstream applications. SR and POX reforming achieve a similar syngas yield 

approximately 2 grams of syngas per gram of methane with different H2: CO ratios.  

 

   

Table 7: Optimal inputs for maximum syngas yield per mole of methane 

Reforming 

Technology 
∑ (XYZ) X Y Z T (K) 

Syngas Yield 

(g syngas/mol 

methane) 

H2:CO 

Ratio 

SR 1 - 1 - 1500 34 3:1 

DR 4 4 - - 1500 91 0.25:1 

POX 0.5 - - 0.5 1500 32 2:1 

 

 

The H2: CO ratio plays an important role in syngas production; however, the increase in 

H2: CO ratio reduces the maximum syngas yield achievable (Table 8). To achieve 

higher H2: CO ratios, the number of moles of carbon monoxide generated decreases and 

therefore the yield of syngas decreases. This impacts decisions relating to the 

downstream processing. For example; iron and cobalt catalysts can be used for F-T 

synthesis with different H2: CO ratio requirements; cobalt catalyst require a ratio 

ranging from 2 to 2.2 while iron catalysts require a lower H2: CO ratio ranging from 1.6 

to 1.8 53. This leads to a syngas yield difference of approximately 15% per mole of 

methane.  
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Table 8: Impact of required H2: CO ratio on syngas yield per mol of methane 

H2:CO ratio Reforming Technology ∑ (XYZ) X Y Z T (K) 

Syngas 

(g/mol 

methane) 

0.255 DR only 4.0 4.0 - - 1500 91 

1 DR + SR 1.0 1.0 0.0 - 1500 60 

1.5 DR + SR 4.0 1.2 2.8 - 1500 50 

2 DR + SR 4.0 0.8 3.2 - 1500 43 

2.5 DR + SR 4 0.55 3.45 - 1500 38 

3 DR + SR 4.0 0.3 3.7 - 1500 34 

 

 

This yield difference affects the overall product yield, waste generation, many aspects 

of the process downstream of the reformer and should be an important part of the 

economic analysis. Therefore, the reformer and F-T synthesis design should be 

performed simultaneously to establish the optimal syngas ratio for the entire process and 

not particular units. 

 

III.6.5. Economic objectives  

From an economic perspective, a thermodynamic maximum does not ensure the most 

profitable system. Operation at much lower temperatures can drastically reduce the need 

for external heating while only slightly reducing product yield. This economic analysis 

helps to show how the various tradeoffs are balanced to maximize the economic 

potential and to identify the prospective processes with the most promise. It would be 

incorrect to extend the economic potential to compare various options without a detailed 

economic analysis including capital and operating cost. In this work the economic 

potential (EP) is used as part of a top-level economic assessment of feasibility and 

economic trends instead of identifying the optimal detailed design configuration. The 

economic potential is defined as: 

𝐸𝑐𝑜𝑛𝑜𝑚𝑖𝑐 𝑃𝑜𝑡𝑒𝑛𝑡𝑖𝑎𝑙 (𝐸𝑃) =  
𝑅𝑒𝑣𝑒𝑛𝑢𝑒+𝐶𝑎𝑟𝑏𝑜𝑛 𝐶𝑟𝑒𝑑𝑖𝑡

𝑅𝑎𝑤 𝑀𝑎𝑡𝑒𝑟𝑖𝑎𝑙 𝐶𝑜𝑠𝑡+𝐸𝑛𝑒𝑟𝑔𝑦 𝐶𝑜𝑠𝑡+𝐶𝑎𝑟𝑏𝑜𝑛 𝑇𝑎𝑥
            (48) 
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where the carbon credit and tax are only included as part of specific scenarios.  

 

The economic potential is valuable in determining what scenarios could be feasible and 

which scenarios should not be considered further. An EP less than one means that the 

revenue is less than the sum of energy cost and raw material cost and thus the 

subsequent process would not be viable under current conditions and there is no need to 

conduct a detailed design.  The EP is also independent of operation scale and therefore 

establishes more broad potential of such a technology route.  

 

Table 9: Prices assumed for hydrogen and syngas production 

Base Case Price Units 

CH4 3 $US/MMBTU 

Steam 0.008 $US/kg 

CO2 ─ $US/kg 

O2 0.021 $US/kg 

Heat 3 $US/MMBTU 

CO Selling Price 0.075 $US/kg 

H2 Selling Price 1.5  $US/kg 

 

 

To establish a general target for the various reforming options the EP was established 

for the stoichiometric reactions below: 

Steam Reforming 

CH4 +  H2O → CO + 3H2   ΔH298 = 206 kJ/mol               EP = 2.38    (49) 

 

Partial Oxidation  

CH4 +  O2
1

2 → CO + 2H2   ΔH298 = -71 kJ/mol               EP = 1.69     (50) 

Dry Reforming 

CH4 +  CO2 → 2CO + 2H2   ΔH298 = 247 kJ/mol               EP = 1.41    (51) 
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To include tri-reforming in a comparison with the other reforming options, tri-reforming 

was defined to include: 

X ≥ 0.5              (52) 

Y ≥ 0.5              (53) 

Z ≥ 0.1                         (54) 

where X,Y,Z correspond to the number of moles of CO2, H2O, and O2 fed respectively 

per mol of CH4.  

 

III.6.5.1 Hydrogen production 

Table 10 summarizes the maximum EP for each reforming option for hydrogen 

production. Steam reforming has the highest potential which can be attributed to a 

higher hydrogen yield due to water addition compared to the other reforming options. 

While not being ruled out as infeasible, the low hydrogen yield and high energy 

requirement make it difficult to justify the use of dry reforming for hydrogen production 

even with a free carbon dioxide source.  

 

 

Table 10: Maximum EP of various reforming technologies for hydrogen production  

Reforming Technology ∑ (XYZ) X Y Z T (K) EP 

SR 1.35 - 1.35 - 1121 2.44 

POX 0.51 - - 0.51 1274 1.99 

DR 1 1 - - 1286 1.67 

Thermal Decomposition - - - - 1318 2.00 

Tri-Reformer 3.05 0.5 2.45 0.1 977 2.15 

 

 

Thermal cracking of methane is a viable option when compared to the reforming options 

and the EP improves when a selling price for the carbon black by-product is included. 

This confirms current industrial use of steam reforming for hydrogen generation and 
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different scenarios were considered to determine the impact of additional energy and 

environmental constraints on the various reforming technologies (Table 11). The EP for 

maximum hydrogen yield established earlier as part of the thermodynamic targets is 

lower (EP = 2.03) than the maximum EP for steam reforming (EP =2.44). Thus 

consideration is given to balancing the energy input and hydrogen yield from an 

economic point of view. 

  

 

Table 11: Effect of additional constraints on the maximum economic potential for 

hydrogen production 

Special 

Scenarios 

Reforming 

Technology 
∑ (XYZ) X Y Z T (K) EP 

1 SR 4 - 4 - 980 2.03 

2 SR + POX 1.28 - 0.66 0.62 1006 1.97 

3 DR + SR 1.06 0.43 0.64 - 1205 2.13 

4 DR + POX 0.63 0.1 - 0.53 1026 1.79 

1 - Max H2  (mol/mol methane) 

2 - HExternal = 0 

3 - 𝑀𝐶𝑂2
𝑅𝐼 =  𝑀𝐶𝑂2

𝑅𝑂 +  𝑀𝐶𝑂2
𝐸  

4 - HExternal = 0 and    𝑀𝐶𝑂2
𝑅𝐼 =  𝑀𝐶𝑂2

𝑅𝑂 +  𝑀𝐶𝑂2
𝐸  

 

 

If a constraint is added limiting the input of external heat, then the best economic 

potential achievable would be EP = 1.97 which is very similar to the economic potential 

of partial oxidation. Thus when the energy cost is given considerable emphasis then the 

inclusion of oxygen in the reformer becomes essential to avoid external heat 

requirement. It is also important to note that the emphasis on energy needs to be 

balanced with the capital investment tradeoff required to produce pure oxygen. Pure 

oxygen generation using air separation or other technologies is an energy intensive 
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process. Thus such decisions would need to be considered as part of broader process 

design.  

 

Recently Australia imposed the equivalent of $23/ ton CO2 as a carbon tax while the 

European Union has maintained a carbon tax of approximately $10/ton CO2. Thus this 

study includes a basic look at the impact of stricter environmental constraints on the 

economic potential of the reforming technologies and operating parameters. A 

constraint requiring the CO2 produced in the reformer and generated during the burning 

of methane for external heat input to be balanced by CO2 fed into the reformer, leads to 

a reduction in the maximum achievable economic potential (EP = 2.13). The economic 

potential of such a CO2 neutral reformer is still very comparable to other reforming 

technologies. The availability of a pure CO2 source and the capital cost associated with 

the inclusion of CO2 are important variables to consider for the implementation of such 

a system.   

 

Combining the energy and CO2 constraints, the best economic potential includes the 

input of oxygen and carbon dioxide to deal with the energy requirement and carbon tax 

while excluding steam addition.  Given the volatility associated with energy and raw 

material prices, a sensitivity analysis was carried out to establish the impact of such 

price changes on the economics potential. The sensitivity analysis also serves to show if 

new constraints and price changes lead to reforming technologies becoming favorable 

over others.  

 

The price of energy is important with respect to reforming and choosing the appropriate 

reforming option. As the price of energy changes the optimal operating conditions 

adjust (Table 12). For example, in steam reforming as the energy cost increases the 

operating temperature and steam input decrease to reduce the cost associated with 

energy. The effect of price changes on partial oxidation is minimal due to the 

exothermic nature of POX. Tri-reformers are able to manage energy price increases by 
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increasing the amount of oxygen fed and reducing operating temperature. At relatively 

high energy costs it would be difficult to consider reforming technologies which don’t 

include an oxygen input. 

 

 

Table 12: Effect of energy price on the economic potential and operating conditions for 

hydrogen production 

Heat 

($/MMBTU) 

Reforming 

Technology 
∑ (XYZ) X Y Z T (K) EP 

 

 

0 

 

 

SR 2.64 - 2.64 - 1034 3.44 
POX 0.5 - - 0.5 1500 2.11 
DR 1 1 - - 1500 2.39 
Thermal 

Decomposition 

- - - - 1500 2.39 

Tri-Reformer 4 0.5 3.4 0.1 970 3.00 

 

 

9 

 

 

SR 1.2 - 1.2 - 1112 1.57 
POX 0.58 - - 0.58 1132 1.94 
DR 1.02 1.02 - - 1223 1.05 
Thermal 

Decomposition 

- - - - 1198 1.57 
Tri-Reformer 2.28 0.5 1.09 0.69 942 1.75 

 

 

15 

 

 

SR 1.1 - 1.1 - 1137 1.16 
POX 0.58 - - 0.58 1132 1.94 
DR 1.03 1.03 - - 1205 0.77 
Thermal 

Decomposition 

- - - - 1150 1.29 
Tri-Reformer 2.24 0.5 1.05 0.69 945 1.75 

 

 

As noted earlier, CO2 generation during reforming is strongly linked to hydrogen 

generation by the water-gas shift reaction thus higher yield of hydrogen results in more 

CO2 being produced. Technologies such as steam reforming with a higher hydrogen 

yield are negatively affected by the inclusion of a carbon tax. Technologies such as dry 

reforming and tri-reforming can benefit from potential credits for the CO2 input that can 

overcome the tax associated with the CO2 output during the reformer and energy 
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generation. At a carbon tax of $60/ton CO2 the economic potential of steam and dry 

reforming are the same with respect to hydrogen production. Partial oxidation is less 

affected since the reformer doesn’t require an external energy source and thus avoids the 

CO2 emissions related to external energy generation. Tri-reforming is able to remain 

mostly unaffected by an increase in carbon tax, as the carbon tax increases the amount 

of CO2 fed into the tri-reformer increases to benefit from the carbon credit by 

sequestering more CO2 than is produced.   

 

 

Table 13: Impact of carbon tax on the economic potential of various options for 

hydrogen production 

 Economic Potential (EP) 

Carbon Tax ($/ton) SR POX DR Cracking 

0 2.44 1.99 1.67 2 

25 2.31 1.96 1.85 1.95 

50 2.17 1.94 2.05 1.89 

75 2.05 1.92 2.25 1.83 

 

 

As reported earlier, the maximum number of moles of CO2 that can be sequestered 

during reforming is 1.5 moles per mole of methane. The economic potential of such a 

reformer that achieves maximum CO2 sequestration is less than 1 (EP = 0.6) and thus is 

not a feasible option from an economic perspective. Figure 12 looks at the impact of 

CO2 sequestration on the economic potential for hydrogen production at different 

carbon tax costs. The trend shows that an increase in CO2 sequestration hurts the 

economic potential up to a carbon tax of $50/ton CO2. . At $75/ton CO2 tax there is a 

slight benefit in sequestering a small amount of CO2 but the general trend is that 

sequestration of CO2 reduces the economic potential Therefore the use of reforming to 
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sequester CO2 during hydrogen production has a negative impact on the economic 

potential even if a large carbon tax is implemented.   

 

 

 
Figure 12: Impact of CO2 sequestration on the maximum economic potential for 

hydrogen production 

 

 

III.6.5.2 Syngas production 

The various reforming technologies are not able to produce syngas with a wide range of 

H2: CO ratios. For example, dry reforming produces syngas with a H2: CO ratio close to 

1:1 while steam reforming is able to achieve a H2: CO ratio close to 3:1. Thus tri-

reforming was taken as the basis in order to produce syngas with a wide range of H2: 

CO ratios for comparison. Once again tri-reforming was defined to include: 

X ≥ 0.5              (52) 

Y ≥ 0.5              (53) 

Z ≥ 0.1              (54) 
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where X,Y,Z correspond to the number of moles of CO2, H2O, and O2 fed respectively 

per mole of CH4.  

 

Given the difficulty in obtaining a price for syngas a simple approach was used to 

establish a price for syngas which takes into account the H2: CO ratio to extend the 

work to various H2: CO ratios. As noted earlier the price of hydrogen was assumed to be 

$1.50/kg and the price of carbon monoxide was taken to be $0.075/kg based on various 

sources. Price of syngas was assumed to be: 

𝑆𝑦𝑛𝑔𝑎𝑠 𝑃𝑟𝑖𝑐𝑒 (
$

𝑘𝑔
) = (

𝑚𝑎𝑠𝑠 𝐻2

𝑚𝑎𝑠𝑠 𝑆𝑦𝑛𝑔𝑎𝑠
 × 𝑝𝑟𝑖𝑐𝑒 𝐻2 ) + (

𝑚𝑎𝑠𝑠 𝐶𝑂

𝑚𝑎𝑠𝑠 𝑆𝑦𝑛𝑔𝑎𝑠
 × 𝑝𝑟𝑖𝑐𝑒 𝐶𝑂 )     (55) 

 

Table 14 summarizes the price of syngas used in this analysis for different H2: CO 

ratios.  

 

 

Table 14: Price of syngas for various H2: CO ratios 
H2:CO Syngas Price ($/kg) 

1 0.08 

1.25 0.09 

1.5 0.11 

1.7 0.13 

2 0.15 

2.2 0.17 

2.5 0.19 

2.7 0.20 

3 0.23 

 

 

The more appropriate method would be to link the price of syngas to the product 

produced for a particular syngas ratio and the product price. The goal of this analysis 

was to establish the impact of a variety of variables on syngas with different 
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compositions. Table 15 illustrates the economic potential for producing syngas with 

varying H2: CO ratios. The economic potential of syngas with syngas H2: CO ratios 

close to 2:1 have a slightly higher EP values compared to the two extremes 1:1 and 3:1.  

 

 

Table 15: Economic potential for syngas production with different H2: CO ratios 

H2:CO Ratio ∑ (XYZ) X Y Z T (K) EP 

1:1 2.11 1.51 0.50 0.1 1084 2.66 

1.7:1 1.18 0.50 0.58 0.1 1142 2.86 

2:1 1.6 0.5 1.0 0.1 1080 2.76 

3:1 2.6 0.50 2.00 0.1 1000 2.67 

 

 

The impact of methane price change on the economics of syngas generation is important 

to consider. Prices as low as $1/MMBTU dramatically improve the margin and the 

economic potential however as prices increase past $6/MMBTU the economic prospects 

diminish. This also emphasizes the importance of ensuring maximum methane 

utilization. The cost of external heat input also impacts the economic potential of syngas 

generation although it is not as impactful as the price of natural gas.  

 

The ability to increase the oxygen input allows tri-reforming to cope with higher energy 

prices (Table 16). As the price of energy increases up to $6/MMBTU the economic 

potential decreases in a similar magnitude for the different H2: CO ratios (Table 17). A 

price increase past $6/MMBTU has no negative impact on the tri-reformer economic 

potential.   
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Table 16: Impact of CH4 price change on the economic potential of syngas production 

(H2: CO = 2:1) 

CH4 Price ($/MMBTU) Economic Potential (EP) 

1 7.44 

3 2.76 

6 1.42 

9 0.96 

12 0.72 

 

 

Table 17: Effect of external energy cost on the economic potential of syngas generation 

(H2: CO = 2:1) 

Heat Cost 

($/MMBTU) 
∑ (XYZ) X Y Z T (K) 

HExternal 

(kJ/mol) 
EP 

0 1.66 0.5 1.06 0.1 1130 336 3.71 

1 1.62 0.5 1.02 0.1 1103 328 3.28 

2 1.6 0.5 1 0.1 1089 323 3.02 

4 1.57 0.5 0.97 0.1 1072 317 2.55 

5 1.56 0.5 0.96 0.1 1066 315 2.37 

6 1.72 0.5 0.57 0.65 980 0 2.26 

9 1.72 0.5 0.57 0.65 980 0 2.26 

12 1.72 0.5 0.57 0.65 980 0 2.26 

 

 

Beyond $6/MMBTU it is most beneficial for the tri-reformer to reduce the operating 

temperature and increase oxygen input to avoid the need for an external heat source. 

Once that is the case any further increase in energy price does not negatively affect the 

EP of the tri-reformer as the reformer requires no external heat input. Given the 

volatility of energy prices the ability to maintain economic viability through simple 
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manipulation of oxidant input and operating temperature while maintaining the same 

syngas ratio gives tri-reforming tremendous flexibility. Figure 12 shows the slightly 

higher EP for syngas with a H2: CO ratio close to 2:1 compared to that 1:1 or 3:1 

syngas. There is a tradeoff between syngas yield and value of syngas; syngas with a H2: 

CO ratio close to 1:1 is considered low value syngas and thus the EP is hindered by low 

revenue due to selling price. On the other hand, 3:1 syngas is considered high value 

syngas; however, the syngas yield is much lower as demonstrated earlier. 

 

 

 
Figure 13: Impact of external energy cost on syngas generation with different H2: CO 

ratios 
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The utilization of more CO2 than generated in the reformer and during external energy 

generation can become beneficial if a carbon tax is imposed; this ability to sequester 

CO2 through reforming decreases as the syngas ratio required increases (Table 18). At a 

syngas ratio close to 1.8:1 the reformer system is CO2 neutral; at higher H2: CO ratio 

more CO2 is produced than can be sequestered and thus the introduction of a carbon tax 

would reduce the economic potential of such systems. 

 

 

Table 18: Maximum CO2 sequestered (mole CO2/mole CH4) at various syngas H2: CO 

ratios 
H2:CO Ratio Max Sequestered 

1 0.51 

1.1 0.43 

1.2 0.36 

1.3 0.29 

1.4 0.23 

1.5 0.17 

1.6 0.12 

1.7 0.07 

1.8 0.01 

 

 

Similar to hydrogen production, the addition of a carbon tax can affect the economic 

potential of syngas generation (Figure 14). Syngas with a higher H2: CO ratio (close to 

3:1) can be negatively impacted by the introduction of a carbon tax while syngas 

generation with a low H2: CO ratio (close to 1:1) can benefit from the introduction of 

carbon tax. Extending this to products produced from syngas, products that require a 

syngas with a lower H2: CO ratio have the potential to benefit from the introduction of a 

CO2 tax. This can also become a factor when considering catalysts which require syngas 

with very different H2: CO ratios. (e.g. iron-based catalyst for F-T) 
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The ability to benefit from a carbon tax arises from the ability to use CO2 to produce 

low H2: CO syngas. On the other hand, in the production of syngas with a H2: CO ratio 

closer to 3 more CO2 is produced than can be input and thus those reformers gets taxed. 

As mentioned previously at a H2: CO ratio of 1.8 the system is CO2 neutral and thus 

does not benefit or disadvantaged by the introduction of a CO2 tax. To definitively 

conclude that catalysts able to utilize syngas with lower H2: CO ratios are beneficial in 

the case carbon taxes are imposed, a complete life-cycle analysis would be necessary.  

 

 

 
Figure 14: Economic potential of syngas generation for different H2: CO ratios and the 

impact of a carbon tax 

 

 

III.6.6 Shale gas reforming 

The approach can be extended to other syngas generation options including reforming 

of shale gas. The composition of unconventional natural gas resources and in particular 
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shale gas can vary significantly from one area to another 92. The compositions for six 

shale gas plays were considered including: Barnett, Marcellus, Fayetteville, New 

Albany, Antrim, and Haynesville 92. These compositions are listed in Table 19. Because 

of high variability in shale gas composition, an important problem is the identification 

of the best feedstock (from the available gas reservoirs) for a particular process 

objective. 

 

     

Table 19: Composition (vol %) for various shale gas plays 
Shale Gas 

Play 
C1 C2 C3 CO2 N2 

Shale Gas 

Play 
C1 C2 C3 CO2 N2 

Barnett      New Albany      

Well 1 80.3 8.1 2.3 1.4 7.9 Well 1 87.7 1.7 2.5 8.1 0 

Well 2 81.2 11.8 5.2 0.3 1.5 Well 2 88.0 0.8 0.8 10.4 0 

Well 3 91.8 4.4 0.4 2.3 1.1 Well 3 91.0 1.0 0.6 7.4 0 

Well 4 93.7 2.6 0 2.7 1.0 Well 4 92.8 1.0 0.6 5.6 0 

Marcellus      Antrim      

Well 1 79.4 16.1 4.0 0.1 0.4 Well 1 27.5 3.5 1.0 3.0 65.0 

Well 2 82.1 14.0 3.5 0.1 0.3 Well 2 57.3 4.9 1.9 0 35.9 

Well 3 83.8 12.0 3.0 0.9 0.3 Well 3 77.5 4.0 0.9 3.3 14.3 

Well 4 95.5 3.0 1.0 0.3 0.2 Well 4 85.6 4.3 0.4 9.0 0.7 

Fayetteville      Haynesville      

Average 97.3 1.0 0 1.0 0.7 Average 95.0 0.1 0 4.8 0.1 

 

 

In the analysis, the composition of each shale gas play was assumed to be an average of 

the different wells, in reality some wells will produce more than others. The approach 

previously mentioned was used to compare the different shale gas play and to determine 

the appropriate reforming technology, inputs and operating conditions to achieve 

particular objective. The hydrogen yield can vary significantly (±30%) between the 

various shale gas play. As with methane reforming, steam reforming is the reforming 

technology which provides the highest hydrogen yield. Based on these compositions, 
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the highest yield is obtained for the Marcellus shale gas play at approximately 3.82 

moles of hydrogen per mole of shale gas. The Fayetteville shale gas which is the closest 

to pure methane has a very similar yield to methane reforming.  

 

 

Table 20: Maximum hydrogen yield for various shale gas plays 

Shale Gas 
Reforming 

Technology 
∑ (XYZ) X Y Z T (K) 

mol H2/mol 

shale gas 

% of 

Marcellus 

Yield 

Barnett SR 4 - 4 - 985 3.58 93 

Marcellus SR 4 - 4 - 995 3.82 100 

New Albany SR 4 - 4 - 972 3.28 86 

Antrim SR 4 - 4 - 942 2.60 68 

Fayetteville SR 4 - 4 - 979 3.45 90 

Haynesville SR 4 - 4 - 973 3.32 87 

 

 

The Marcellus and Barnett shale gas have a high concentration of ethane and propane 

and produce a higher hydrogen yield per mole of feed than the results reported earlier 

for methane reforming. While methane has the highest hydrogen to carbon ratio; the 

presence of ethane and propane appears to improve hydrogen yield. Table 21 shows that 

the additional carbon provided by the ethane and propane acts as an oxygen acceptor to 

form carbon monoxide. This reduces the amount of water produced allowing more 

hydrogen to produce H2 which leads to the higher yield. The yield of syngas can also 

vary significantly (±35%) for the different shale gas play. This variation is also similar 

in magnitude to that for hydrogen yield with the Marcellus shale gas having the highest 

yield.    
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Table 21: Syngas composition for maximum hydrogen yield for methane and Marcellus 

shale gas reforming 

Yield (mol/mol feed)  Methane Reforming Shale Gas Reforming 

H2 3.48 3.82 

CO 0.47 0.61 

CO2 0.52 0.54 

H2O 2.49 2.31 

 

 

Table 22: Maximum yield of hydrogen and carbon monoxide for various shale gas 

plays (H2: CO = 2:1) 

Shale Gas 
Reforming 

Technology 
∑ (XYZ) X Y Z T (K) 

𝒈 (𝑯𝟐+𝑪𝑶)

𝒎𝒐𝒍𝒆 𝒔𝒉𝒂𝒍𝒆 𝒈𝒂𝒔
  

% of 

Marcellus 

Yield 

Barnett SR + DR 4 0.78 3.22 - 1500 44 92 

Marcellus SR + DR 4 0.79 3.21 - 1500 48 100 

New Albany SR + DR 4 0.74 3.26 - 1500 40 83 

Antrim SR + DR 4 0.72 3.28 - 1500 30 63 

Fayetteville SR + DR 4 0.81 3.19 - 1500 42 88 

Haynesville SR + DR 4 0.77 3.23 - 1500 41 85 

 

 

The Marcellus and Barnett shale gas mass yield of hydrogen and carbon monoxide is 

higher than that for methane (43 g/mole methane).  Table 23 confirms that the hydrogen 

and carbon monoxide yield increase corresponds to a decrease in water generation. 
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Table 23: Syngas composition for maximum syngas yield for methane and Marcellus 

shale gas reforming 

Yield (mol/mol feed)  Methane Reforming Shale Gas Reforming 

H2 2.67 3.0 

CO 1.33 1.5 

CO2 0.49 0.46 

H2O 2.51 2.38 

 

 

The results indicate that shale gas composition can have a significant impact on 

potential yields independent of the reforming technology chosen. Given the impact on 

the process economics it would be important for the price of shale gas to reflect the 

quality of the shale gas to account for this variability. It is also worth noting that the 

aforementioned optimization model can be used for the assessment of biomass 

gasification. Such biomass-derived gases are characterized by broad variability in 

composition that is analogous to the variability of shale gas composition.  

 

If the price of natural gas is assumed to be $3 per 1000 SCF, then on a yield base the 

shale gas price may range from $2.09 to $3.35 per 1000 SCF (Figure 15). These results 

also show that some shale gas may be more valuable than conventional natural gas from 

a yield perspective. The yield increase may also offset the additional processing 

required for shale gas and result in some shale gas demanding a similar price compared 

to conventional natural gas. 
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Figure 15: Impact of syngas yield on perspective gas price 

 

 

III.7 Conclusions 

The chapter introduced an optimization-based model as a basis for the analysis and 

selection of reforming approaches. The model is capable of determining the optimal 

reformer including inputs, operating conditions to achieve various economic objectives 

and subject to specific constraints. These objectives include: maximum hydrogen 

production, syngas production with specific H2/CO ratio, or minimum CO2 output. The 

inclusion of strict energy and environmental constraints favors some reforming options 

over others. Varying raw material prices, energy prices, and environmental constraints 

may result in tri-reforming options being favored for generation of syngas as a precursor 

for the chemical industry.  
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From a yield perspective some shale gas play have a similar value compared to 

conventional natural gas while others require extensive pre-processing. Combined 

reforming (including tri-reforming) reduces the drawbacks and enhances the benefit of 

each reformer. This includes reduced energy usage, improved catalyst life, safety and 

process flexibility. Establishing thermodynamic trends and the impact of certain 

variables can be an important part of a broader optimization based process synthesis 

approach.  

 

Given the relative chemical stability of methane, syngas generation will remain a major 

route for methane monetization and as such natural gas monetization.  A vast number of 

major products use syngas as an intermediate. This includes ammonia, methanol, F-T 

liquids, acetic acid, and refineries. These processes also produce by-product and waste 

streams that contain a significant amount of carbon monoxide, hydrogen, carbon dioxide 

and water/steam. This provides an opportunity to integrate multiple plants to utilize 

these streams reducing feedstock requirement and waste generation.  

 

Extensive effort has been dedicated to such intra-plant integration for specific species 

such as hydrogen and water. However, there are greater integration opportunities if the 

carbon monoxide and carbon dioxide in these streams is also utilized. In addition, other 

hydrocarbon species in these by-product and waste streams can be converted to other 

species which may be of value in such an industrial complex. This requires a new 

approach to integration where consideration is not only given to specific species but a 

broader atomic basis which allows greater opportunity for integration. Chapter IV 

presents a new approach which considers the atomic basis of these streams Carbon (C), 

Hydrogen (H), Oxygen (O) which represent the primary building blocks for many 

industrial compounds.  
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CHAPTER IV 

SYNTHESIS OF C-H-O SYMBIOSIS NETWORKS 

 

IV.1 Introduction 

Primary objectives of sustainable design include profitability and capital-productivity 

enhancement, resource (mass and energy) conservation, pollution prevention, and 

process-safety improvement. These objectives can be methodically achieved and 

reconciled using process integration which is a “holistic approach to process design and 

operation which emphasizes the unity of the process” 1. Systematic process integration 

methodologies and tools have been developed for the optimal synthesis and design of 

industrial processes. Recent reviews of the topic can be found in literature (e.g., Klemes, 

2013 93; El-Halwagi, 20121; Noureldin, 2012 94; Majozi, 2010 95; Foo, 2009 96; Kemp, 

2009 97; El-Halwagi, 2007 98; Smith, 2005 80; Dunn and El-Halwagi, 2003 99).  

 

A key branch of process integration is mass integration which is a systematic 

methodology that provides fundamental understanding and global insights for 

identifying performance targets and optimizing the generation, routing, and allocation of 

species and streams1. The first contribution in mass integration was made by El-Halwagi 

and Manousiouthakis (1989) 100, who introduced the concept of synthesizing mass-

exchange networks that can preferentially transfer a set of targeted species from a 

process rich stream to process and external lean streams. Later, the broader concept of 

mass integration was introduced to deal with optimal generation, routing, and allocation 

of species and streams throughout the process 101.  

 

IV.2 Literature review 

Important classes of mass integration deal with resource conservation via recycle from 

sources to sinks with focus on specific species such as water and hydrogen. Wang and 

Smith (1994) 102, developed the water-pinch analysis to identify targets for minimum 

fresh-water usage and wastewater discharge. El-Halwagi et al. (2003)103 developed the 
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material recovery pinch diagram to minimize the usage of fresh resources and waste 

discharge through direct recycle strategies. Mathematical programming optimization 

approaches have also been developed for the targeting and synthesis of water recycle 

and management networks (e.g., Bagajewicz, 2000 104; Tan and Cruz, 2004 105; Gabriel 

and El-Halwagi, 2005 103; Ahmetovic and Grossmann, 2010 106). Also, combined water, 

heat-recovery, and property integration networks have been synthesized using 

optimization approaches107,108.  

 

Alves and Towler 109 developed an integrated approach for the synthesis of hydrogen 

networks.  Hallale and Liu (2001) 110 extended this concept by including pressure 

constraints and the addition of separation units. Graphical and algebraic techniques were 

also developed to identify the hydrogen requirement targets111,112. Jia and Zhang (2011) 
113 considered the presence of light hydrocarbons and separation from hydrogen-rich 

streams. Liu et al. (2013) 114 investigated the use of graphical techniques for identifying 

the pinch location in hydrogen networks including the use of purification devices. Hasan 

et al. (2011) 115 presented an approach to the optimal design of a fuel gas network 

(FGN).  Jagannath et al. 116 extended this approach to minimize flaring through 

integration with FGNs.  

 

The aforementioned mass-integration approaches for the optimal generation and 

allocation of specific species have provided substantial insights and savings to 

individual processes. Additional benefits can accrue when mass integration is applied to 

multiple processes that form a cluster. In this context, the concept of eco-industrial 

parks (EIPs) is attractive. Lowe (2001) defines an EIP as “a community of 

manufacturing and service businesses located together on a common property. Members 

seek enhanced environmental, economic, and social performance through collaboration 

in managing environmental and resource issues” 117. An EIP is an enabling tool in 

industrial ecology which seeks to take advantage of the synergy between different 

systems 118.  
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While the definition is continuing to evolve, the concept of industrial symbioses is used 

to describe industrial systems in close proximity which share resources and 

infrastructure in an attempt to mimic environmental ecology 119. One of the earliest 

examples of an EIP is in Kalundborg, Denmark 120, where an industrial symbiosis 

network has evolved over time to exchange and share material and energy resources 

among various production facilities (e.g., gypsum, cement, steel, power, 

pharmaceuticals, wallboard). An EIP offers a significant opportunity to advance 

sustainable design by enhancing material and energy conservation and reducing the 

environmental footprint.  

 

Spriggs et al. (2004) proposed a mass-integration representation of the EIP problem 

(Fig. 16) and extended the use of the material recovery pinch diagram for the exchange 

of materials (e.g., byproducts, waste streams, material utilities) among multiple 

processing plants through the utilization of a centralized facility that allows segregation, 

mixing, separation, and treatment of the exchanged streams 121. Chew et al. (2007) 

developed a mathematical program formulation for the synthesis of direct and indirect 

interplant water networks 122. Lovelady and El-Halwagi (2009a) developed an 

optimization approach for the implementation of the mass-integration approach to the 

design of EIPs for managing water resources 123. Roddy (2013) proposed the building of 

syngas networks as a mean of reducing industrial carbon footprint 124.  

 

Several additional approaches have been proposed for the design of EIPs while 

accounting for natural resources (mass and energy) and various characteristics and 

objectives  such as mass, heat, and properties (e.g., Hipólito-Valencia et al., 2014 125; 

Rubio-Castro et al., 2013 126; Rojas-Torres et al., 2012 127 ; Elsayed et al., 2013 128; 

Stijepovic et al., 2012 129; Aviso et al., 2010 130; Chae  et al., 2010 131; Lim and Park, 

2010 131; Lovelady et al., 2009b 132; Chew and Foo; 2009 133). 
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Figure 16: A Mass-Integration representation of EIPs121 

 

 

With the substantial discoveries of shale gas reserves, the renewed interest in effective 

utilization of crude oil and coal resources, and the growing need to utilize renewable 

biomass resources, there are significant opportunities for value-added processing 

pathways (e.g., Ehlinger et al. 134, 2014; Noureldin et al., 2013 75, 2013; Martín and 

Grossmann, 2013 135; Floudas et al.,2012 136; Pham and El-Halwagi, 2012 137).   

 

Given the anticipated growth in the aforementioned processing pathways as well as the 

tremendous size of existing industrial infrastructure, there are unique opportunities for 

the development of multi-plant coordination networks through EIPs in which 

compounds containing carbon, hydrogen, and oxygen (C-H-O) are exchanged, 

converted, split, mixed, and allocated.  These possible C-H-O compounds are numerous 

and their synergistic usage among multiple plants can lead to various benefits including 

conservation of material and energy resources, reduction of environmental emissions, 

improvement in capital productivity, increase in material utilization, and enhancement 

in natural-resource monetization.   
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This chapter introduces the concept of synthesizing C-H-O SYmbiosis Networks 

(CHOSYNs).  A CHOSYN is defined as a cluster of multiple plants with shared 

centralized facilities that are designed to enable the exchange, conversion, separation, 

treatment, splitting, mixing, and allocation of streams containing C-H-O compounds. 

Tfocus of CHOSYN is the integration emanating from the atomic level (C, H, and O). 

As such, it encompasses earlier work that was based on specific species (e.g., water, 

hydrogen) and provides more insights and options than the approaches that use the 

specific species. Additionally, the use of C-H-O as the basis for integration creates 

numerous opportunities for synergism because C, H, and O are the primary building 

blocks for many industrial compounds that can be exchanged and integrated. 

 

First, the problem statement is introduced along with the design challenges. Next, a 

structural representation is developed to embed potential CHOSYN configurations of 

interest. Atomic-based targeting is used to benchmark the performance of the network. 

Then, an optimization formulation is devised to synthesize cost-effective networks for 

the general cases. A case study with different scenarios is solved to illustrate the 

applicability of the concept and associated tools. 

 

IV.3 Problem statement 

The problem of synthesizing a CHOSYN may be stated as follows: 

Given is a set PROCESSES = (p | p = 1, 2,…, NProcess) of industrial processes that exist 

in the same industrial zone. Each process receives a set FEEDSp = (fp|fp=1,2,…, Feed
pN ) 

of feedstocks. The processes produce a number of sources and include a number of 

sinks that are defined through the following sets: 

 The set SOURCES = [i|i = 1,2,…,NSources] represents streams that are to be 

integrated within the CHOSYN. This set is composed of two subsets: external and 

internal. The subset EXTERNAL_SOURCES = [i|i=1,2,…, NExternal Sources ]includes 

all the fresh streams that are to be purchased for use in the CHOSYN.  On the other 

hand, the subset INTERNAL_SOURCES = [i|i= NExternal_Sources+1, 
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NExternal_Sources+2,…,NSources] is composed of output streams from the industrial 

processes that are to be integrated with the rest of the CHOSYN. Each source i has a 

flowrate Gi (unknown for external sources and known for the base-case of internal 

sources), pressure Source
iP and temperature Source

iT . The sources contain a set 

COMPONENTS = [c|c = 1,2,…,Nc] of C-H-O species. The cth species is given by 

the following chemical formula
ccc

OHC   where  c  and ,,  cc  are the atomic 

coefficients for carbon, hydrogen, and oxygen, respectively, in species c.  The 

composition of species c in source i is designated by icx , .  

 The set SINKS = [j|j = 1,2,…,NSinks] represents units or systems in the existing 

industrial processes that can accept the internal and external sources. Each sink has a 

set of Sink_Inletj = [ SinkInlet
j

in
j

in
j Nvv _,...,2,1|  ]of inlet ports each requiring a certain 

flowrate In
v in

j
H , pressure In

v in
j

P j and temperature In
v in

j
T . The following are constraints on 

the flowrate, pressure, and temperature for the feed to each inlet port of a sink: 
max,min, In

v
In
v

In
v in

j
in
j

in
j

HHH        in
jv             (56) 

max,min, In
v

In
v

In
v in

j
in
j

in
j

PPP        in
jv             (57) 

max,min, In
v

In
v

In
v in

j
in
j

in
j

TTT        in
jv             (58) 

The composition of the feed to each inlet port of a sink is governed by the following 

constraints: 
max,

,,
min,

,
In

vc
In

vc
In

vc in
j

in
j

in
j

zzz         in
jv , c            (59) 

There are also constraints on the desired ratios of compositions, i.e. 

max
,',

,'

,min
,', in

j
in
j

in
j

in
j vccIn

vc

In
vc

vcc r
z

z
r       in

jv , ',cc where ' and COMPONENTS', cccc  (60) 

 Available for service as needed is a set of interceptor units: INTERCEPTORS = (k 

|k = 1,2, …, NInt). These are new units that may be added to segregate, mix, 
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chemically convert, separate, heat, cool, pressurize, and depressurize the various 

sources and allocate them to the different process sinks. 

 

The aim is to synthesize a CHOSYN capable of managing the production, 

transformation, separation, and distribution of the sources containing the C-H-O 

compounds to achieve a desired objective or a combination of objectives (e.g., 

maximum profit, minimum cost, minimum consumption of fresh materials, minimum 

environmental discharge). Figure 17 is a schematic representation of the CHOSYN 

synthesis problem which illustrates the interaction between the individual process or 

plants with the CHOSYN. 

 

 

 
Figure 17: Schematic representation of CHOSYN Synthesis 
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IV.4 Synthesis approach 

The problem is represented using the source-interception-sink representation 101 as 

shown by Figure 18.  This structural representation is rich enough to embed potential 

configurations of interest. Each source is split into a number of fractions that are 

assigned to the inlet ports of the interceptors. The splits from all the sources are mixed 

at the inlet ports of the interceptors. An interceptor can have multiple ports to facilitate 

multiple inputs. These interceptors operate on the sources to induce chemical and/or 

physical changes. The streams leaving the outlet ports of the interceptors are split and 

fed to the inlet ports of the sinks where the mixed feeds must satisfy the constraints 

given by equations 56-60.  

 

 

 
Figure 18: Source-Interceptor-Sink Structural Representation of CHOSYN 
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The streams exiting from the outlet ports of the sinks may constitute terminal output 

streams (e.g., final products and byproducts or discharged wastes) or may be recycled to 

form internal sources that are to be further intercepted. A sink may produce an output 

stream which is recycled such as sink j=1 in Figure 18. A portion of a particular output 

stream can be recycled such as sink j=2 in Figure 18, and finally an entire of a sink may 

be recycled back such as sink j=3 in Figure 18. The recycled streams generate the 

internal sources which may enter the interceptor network. The existence or absence of 

these configurations are all embedded by the superstructure and are to be determined 

through optimization as will be described later. 

 

IV.5 Optimization formulation 

The following constrains are used for the mixing and splitting of streams to and from 

the interceptors: 

Source Splitting Mass Balance: 

Each interceptor, k, has a number of inlet and outlet ports that are described by the 

indices in
ku and out

ku , respectively. Each source, i, is split into fractions that are assigned 

to the inlet ports of the interceptors. The flowrate of each fraction connecting source i 

with inlet port in
ku is termed in

kuiG ,
. Therefore, the mass balance for splitting each source 

is given by: 


k u

uii
in
k

in
k

GG ,
   SOURCESi                   (61) 

 

Interceptor Inlet Ports Mass Balances: 

The following are the overall and component mass balances at the inlet ports of the 

interceptors: 





Sources

in
k

in
k

N

i
ui

In
u GW

1
,       in

ku ,     RSINTERCEPTOk                   (62) 

ic

N

i
ui

In
uc

In
u xGyW

Sources

in
k

in
k

in
k

,
1

,, 


      in
ku ,    RSINTERCEPTOk , COMPONENTSc       (63) 
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where In
u in

k
W and In

uc in
k

y
, are, respectively, the inlet flowrate and the cth component 

composition for the stream fed to port in
ku . 

 

Interceptor Unit Modeling Equations and Constraints: 

The modeling equations for the kth interceptor ( RSINTERCEPTOk ) are given by: 

0),,,,,,,,,,,( ,,,,  icuuSODxGyWyW out
k

in
k

Int
k

Int
k

Int
kicui

In
uc

In
u

Out
uc

Out
uk in

k
in
k

in
k

out
k

out
k

                           (64) 

where Out
uout

k
W and Out

uc out
k

y
, are, respectively, the outlet flowrate and the cth component 

composition for the stream leaving port out
ku . The terms Int

k
Int
k

Int
k SOD  and ,, represent the 

design, operating, and state variables of the kth interceptor. The term k represents the 

vector of unit performance functions for interceptor k. Similarly the vector k

represents the vector of constraints for the kth interceptor.  

0),,,,,,,,( ,,  cuuSODyWyW out
k

in
k

Int
k

Int
k

Int
k

In
uc

In
u

Out
uc

Out
uk in

k
in
k

out
k

out
k

 RSINTERCEPTOk   (65) 

 

Mass balance for splitting the outlet streams from the interceptors    

The flowrate of each fraction connecting the outlet port of an interceptor, out
ku  with inlet 

port in
jv of a sink is termed in

j
out
k vuH , . Therefore, the mass balance for splitting each stream 

leaving an outlet port of the interceptor is given by: 





Sinks

in
j

in
j

out
k

out
k

N

j v
vu

Out
u HW

1
,   out

ku ,  RSINTERCEPTOk       (66) 

 

Sink Inlet Ports Mass Balances: 

The following are the overall and component mass balances at the inlet ports of the 

sinks: 





sIntereptor

out
k

in
j

out
k

in
j

N

k u
vu

In
v HH

1
,   in

jv , SINKSj         (67) 
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Out
uc

N

k u
vu

In
vc

In
v out

k

sIntereptor

out
k

in
j

out
k

in
j

in
j

yHzH
,

1
,, 



  in
jv , SINKSj , COMPONENTSc     (68) 

 

Sink Unit Modeling Equations and Constraints: 

The modeling equations for the jth interceptor are given by: 

0),,,,,,,,(
,,

 cvvSODzHzH out
j

in
j

Sink
j

Sink
j

Sink
j

In
vc

In
v

Out
vc

Out
vj in

j
in
j

out
j

out
j

   SINKSj                 (69) 

where Out
vout

j
H and Out

vc out
j

z
, are, respectively, the outlet flowrate and the cth component 

composition for the stream leaving port out
jv . The terms Sink

j
Sink
j

Sink
j SOD  and,, represent the 

design, operating, and state variables of the jth sink. The term j represents the vector of 

unit performance functions for sink j. Each sink inlet port is subject to the previously 

described constraints: 
mazIn

v
In
v

In
v in

j
in
j

in
j

HHH ,min,       in
jv                  (56) 

mazIn
v

In
v

In
v in

j
in
j

in
j

PPP ,min,        in
jv                  (57) 

mazIn
v

In
v

In
v in

j
in
j

in
j

TTT ,min,        in
jv                  (58) 

mazIn
vc

In
vc

In
vc in

j
in
j

in
j

zzz ,
,,

min,
,

       in
jv , c                 (59) 

max
,',

,'

,min
,', in

j
in
j

in
j

in
j vccIn

vc

In
vc

vcc r
z

z
r       in

jv , ',cc where  ' and  COMPONENTS', cccc     (60) 

The objective function of this optimization formulation may be in the form of one or 

more metrics such as minimum total annualized cost, maximum profit, maximum net 

present value, minimum usage of fresh, minimum environmental discharge, etc. The 

solution to this optimization formulation gives enough information on the structure of 

the CHOSYN, the assignment of the streams, the addition of new interceptors, and the 

chemical and physical transformations of the C-H-O compounds. 
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IV.6 Preliminary screening using two targets 

The development of the modeling and cost equations for the interception technologies 

with appropriate level of details and accuracy can be a laborious task especially for 

emerging technologies. Furthermore, depending on the nature of the modeling and cost 

equations, the global solution of the foregoing optimization formulation may be 

challenging. Therefore, it is useful to first use targeting approaches using molecular 

insights and simple cost data to shed some light on the system and to provide 

preliminary screening prior to developing and solving the detailed optimization 

formulation. In this context, two targeting approaches are proposed: maximum atomic 

integration of internal resources and raw-material cost targeting. 

 

IV.6.1 Atomic targeting using maximum mass integration 

This case deals with the scenario of interest in maximizing the integration of process 

(internal) sources towards meeting the demands of the sinks. As mentioned in the 

problem statement, the internal sources contain a set COMPONENTS = [c|c = 

1,2,…,Nc] of C-H-O species. The cth species is given by the following chemical formula

ccc
OHC   where  c and ,,  cc  are the atomic coefficients for carbon, hydrogen, and 

oxygen, respectively, in species c.  The molar flowrate of the ith source is Gi and the 

mole fraction of species c in source i is icx , .  The atomic balances for carbon, hydrogen, 

and oxygen over all the internal streams can be carried out using the following 

expression: 

 

 

 

                                     

                                            (70) 

 

 

 



















SourcesInternal
O

SourcesInternal
H

SourcesInternal
C

A
A
A

_

_

_
























































































































Sources

SourcesExternal

SourcesccSourcesExternalc

SourcescSourcesExternal

SourcesSourcesExternal

ccc N

i

N

NNiNNN

NNicNc

NiN

NNN

ccc

G

G

G

xxx

xxx

xxx

.

.

.

.

.

.

......
.
.
.

......
.
.
.

......

...

...

...

...

...

...
1_

1_

1_

1_

,,,

,,,

,1,1,1
111









 

76 

 

On the right hand side, the atomic coefficients of carbon, hydrogen, and oxygen in each 

component is multiplied by the mole fraction of each component. This product is 

subsequently multiplied by the flowrate of the corresponding stream to get the atomic 

flowrate in each stream. The result on the left hand side is the “atomic flowrates” of 

carbon, hydrogen, and oxygen in the internal sources (designated by
SourcesInternal

O
SourcesInternal

H
SourcesInternal

C AAA ___ and ,, , respectively). 

 

In order to find the minimum requirement for the atomic flowrates of carbon, hydrogen, 

and oxygen needed by the sinks (referred to as: Sinks
O

Sinks
H

Sinks
C AAA and ,, , respectively), the 

following optimization formulation is developed: 

For carbon: 

Minimize c
c

In
vc

j v

In
v

Sinks
c in

jin
j

in
j

zHA 
,

min,                     (71) 

 

This objective function seeks to determine the minimum requirement of carbon-atom 

flowrate needed by all the sinks. The innermost summation calculates the mole fractions 

of component c each multiplied times the number of carbon atoms in that component. 

When this summation is multiplied times the molar flowrate entering the sink inlet port, 
in
jv , the product is the carbon-atom flowrate entering the inlet port sink, in

jv .   The 

outside double summation adds up the carbon-atom flowrates over all inlet ports of the 

sinks. The objective function is subject to the following constraints: 

 max,
,,

min,
,

In
vc

In
vc

In
vc in

j
in
j

in
j

zzz    in
jv , c                                                                (59) 

In
vcvcc

In
vc

In
vcvcc in

j
in
j

in
j

in
j

in
j

zrzzr
,'

max
,',,,'

min
,',

    in
jv , ',cc          (72) 

where  ' and COMPONENTS', cccc          

 

Constraint (72) is a rearranged form of constraint (60) dealing with the required ratios of 

mole fraction but written in a form the highlights its linearity. 
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The following constraint is added to ensure that the mole fractions of the formed species 

entering each inlet port of a sink add up to one: 

1, 
c

In
vc in

j
z      SINKSjvin

j  ,                  (73) 

 

Similarly for hydrogen and oxygen, respectively, the objective functions are written as: 

Minimize c
c

In
vc

j v

In
v

Sinks
H in

jin
j

in
j

zHA 
,

min,                   (74a) 

and 

Minimize c
c

In
vc

j v

In
v

Sinks
O in

jin
j

in
j

zHA 
,

min,        (74b) 

Subject to Eqs. (60) and (72). 

 

The identified minimum requirements for the atomic flowrates of carbon, hydrogen, and 

oxygen ( Sinks
O

Sinks
H

Sinks
C AAA and ,, ) are compared with the atomic flowrates for carbon, 

hydrogen, and oxygen available in the internal sources to determine the targets as the 

net differences as follows: 

Net difference for carbon-atom flowrate SourcesExternal
CA _ =  min,_ Sinks

C
SourcesInternal

C AA    (75a) 

Net difference for hydrogen-atom flowrate SourcesExternal
HA _ =  min,_ Sinks

H
SourcesInternal

H AA    (75b) 

Net difference for oxygen-atom flowrate SourcesExternal
OA _ =  min,_ Sinks

O
SourcesInternal

O AA    (75c) 

 

A positive net difference for Eqs. (75a-c) indicates a surplus that corresponds to a target 

for external sources being zero. If any of Eqs. (75a-c) yields a negative net difference; 

external sources are needed to at least compensate for these deficiencies. This provides 

an opportunity to gauge if internal resources may be sufficient from a particular atomic 

flow and aids in identifying minimum targets for the external resources that are needed 

to supplement these internal sources. Therefore, the targets for minimum external 

supply of C, H, and O are given by: 
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}0,max{arg min,_min Sinks
C

SourcesInternal
C

External
C AAA                   (76a) 

}0,max{arg min,_min Sinks
H

SourcesInternal
H

External
H AAA        (76b) 

}0,max{arg min,_min Sinks
O

SourcesInternal
O

External
O AAA        (76c) 

 

Figure 19 is a schematic representation of this targeting approach. The streams leaving 

the process sinks are fed to a block that extracts the internal sources and calculates the 

atomic flowrates ( SourcesInternal
O

SourcesInternal
H

SourcesInternal
C AAA ___ and ,, ) according to Eq. (15). 

Next, the optimization programs given by Eqs. (59), (71)-(74) are solved to determine 

minimum sink requirements of C, H, and O ( min,min,min, and ,, Sinks
O

Sinks
H

Sinks
C AAA ). Next, the 

minimum external targets of C, H, and O are determined from Eqs. (76a-c). The 

interception network combines the needed internal and external sources, reacts them to 

produce the desired species that are separated and rendered at the right conditions to 

meet the constraints for each inlet port of a sink ( in
jv ).  

 

In the interest of this level of targeting, the interception network is treated as a grey box 

that ensures atomic balance but does not details the specific technologies that are 

required to carry out the interception tasks (unlike Fig. 18 of the general approach which 

defines each interception technology and determines it optimal performance, size, type, 

and cost).  This distinction is consistent with the notion of top-level targeting that 

focuses on benchmarking using a big-picture approach to support the detailed approach 

given by the general formulation described by Eqs. (56)- (69) and Fig. 18. If the targets 

are not attractive enough, there is no need to solve the more complex general 

formulation. On the other hand, if the targets are promising, they pose lower bounds on 

the consumption of the external resources when the general formulation is solved with 

detailed modeling and cost equations. 
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Figure 19: Representation of the External-Resource Targeting Framework 

 

 

IV.6.2 Raw-material cost targeting 

Even when the target for external sources is zero, some of these fresh resources may be 

purchased because of economic reasons. A useful preliminary targeting approach is to 

check the cost of the external sources compared to the cost of the other external sources 

that are currently being used as well as the internal sources they are intended to replace. 

One possible objective is to minimize the cost of the external sources: 

Minimize Used
i

SOURCESEXTERNALi

Source
i GCost

 _
         (77) 

 

Another possible objective function is to minimize the cost of all process sources and 

waste treatment for the whole CHOSYN (eq. 78). 

Minimize 



SOURCESINTERNALi

Waste
i

Waste
i

Used
i

SOURCESi

Source
i GCostGCost

_
     (78) 
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where Source
iCost  is the cost of the ith source ($/kmol), Used

iG is the flowrate used of source 

i (kmol/s), Waste
iCost is the cost of treatment ($/kmol), and Waste

iG is the flowrate of the ith 

internal source not used in the CHOSYN (kmol/s) and discharged as waste. The 

objective function is subject to the following constraints: 

Carbon, hydrogen, and oxygen atomic flowrates in all sources: 

c
c

ic
i

Used
i

Sources
C xGA  ,          (79a) 

c
c

ic
i

Used
i

Sources
H xGA  ,          (79b) 

c
c

ic
i

Used
i

Sources
O xGA  ,          (79c) 

where Used
iG is the flowrate of the ith source that will be used in the CHOSYN. It is 

bounded by the following constraints: 
Available
i

Used
i GG      SOURCESEXTERNALi _      (80) 

where Available
iG is the maximum available flowrate of the ith external source. For internal 

sources, the following constraint applies: 

i
Used
i GG       SOURCESINTERNALi _      (81) 

which limits the used flowrate of an internal source to the available flowrate from the 

producing process. The unused flowrate must leave the CHOSYN and is designated as 

waste: 
Used
ii

Waste
i GGG      SOURCESINTERNALi _      (82) 

 

Furthermore, the carbon, hydrogen, and oxygen atomic needs are described by the 

previously mentioned Eqs. (71)-(73) coupled with constraints (59) and (72): 

c
c

In
vc

j v

In
v

Sinks
c in

jin
j

in
j

zHA 
,

min,           (83) 

c
c

In
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j v

In
v
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j

in
j

zHA 
,

min,           (84) 
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where ' and COMPONENTS', cccc           

 

A primary benefit of this targeting approach is its ability to determine potential 

economic benefit of integrating the multiple processes with internal and external 

sources. It uses readily available operating-cost data of raw materials and waste 

treatment. If the targeted CHOSYN does not make a profit based on operating-cost data, 

there is no need to solve the general formulation which includes unit modeling and fixed 

costs. This target also sets a lower bound on the operating cost of the CHOSYN. 

 

IV.7 Case study 

A case study is presented to illustrate the applicability of the developed approach and 

targeting methods. The objective is to design a CHOSYN to integrate several plants in 

order to benefit from potential C-H-O synergistic opportunities, reduce the cost of 

external resources and waste generation, and enhance the use of internal sources. 

Consider an industrial cluster made up of seven plants shown in Figure 20. The EIP 

includes typical sized processing facilities: gas-to-liquid (GTL) plant, power plant, 

dimethyl ether (DME) Plant, ethylene plant, steel production plant, biodiesel plant, and 

acetic acid plant. An input-output process model is developed for each of the various 

plants using available literature data.  
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Figure 20: Case Study Schematic Representation 

 

 

The first task in synthesizing CHOSYNs is to identify the role of each plant in the EIP. 

This includes identifying the plants that are willing to provide sinks (receive resources 

from other plants) within the plant and sources (provide resources to other plants).  In 

addition, a plant can serve as a sink while also providing sources to other plants. In this 

case study there are six internal C-H-O sources and five sinks along with external 

sources. 

 

IV.7.1 Plant description 

The following section provides a brief plant description along with the assumed product 

capacities, feedstock, and by-products. Table 24 summarizes the industrial plants 

involved in the industrial cluster and the plant capacities. The plants are diverse in the: 
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types of products (liquid fuels, chemicals, specialty chemicals, and power), feedstock 

state (solid, liquid, gaseous), plant size, and environmental impact.  

 

 

Table 24: Description and capacity of industrial plants included in the industrial 

complex 

Industrial Plant Basis Capacity 

GTL plant F-T liquid  25,000 bbl/day 

Power plants Power generation Two plants (600 MW each)  

DME plant DME product 600,000 tonnes/year 

Ethylene plant Ethyelene product  200,000 tonnes/year 

Steel plant Steel production 2,000,000 tonnes/year 

Biodiesel plant Biodiesel product 50,000,000 gallons/year 

Acetic acid plant Acetic acid product 800,000 tonnes/year 

 

 

IV.7.1.1 GTL plant 

Gas-to-liquid (GTL) technology involves the conversion of natural or shale gas into 

liquid transportation fuels 21. While the term liquid transportation fuels can be used to 

describe a variety of products including: methanol, ethanol, di-methyl ether, it is mostly 

used to describe the use of Fischer Tropsch (F-T) technology to produce longer chain 

hydrocarbon liquid fuels 18.   As described by Gabriel et al., the GTL process consists of 

three main sections: synthesis gas production and conditioning, F-T Synthesis, and F-T 

product upgrading and separation 138. In this study, the GTL liquids capacity is 25,000 

bbl/day and the performance models and data are taken from literature138,139.  

 

IV.7.1.2 Power plant 

With growing stringency of CO2 emission standards, extensive effort has been invested 

in identifying opportunities to reduce, sequester, or utilize CO2 from power plants. As 
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part of this case study, the power plant participates by providing captured CO2 for 

utilization by the other industrial plants. The power plant is fueled by natural gas and 

produces approximately 3.49 g mol CO2 per MJ 140. This is equivalent to 3.49 g mol 

CO2 per MJ. In this case study, two typical size power plants each with a capacity of 

approximately 600 MW make available equal amounts of captured CO2 for integration.  

 

IV.7.1.3 DME plant 

Dimethyl ether is produced using a direct or indirect reaction pathway 141.The direct 

synthesis involves the conversion of synthesis gas (syngas) to DME. The indirect 

synthesis involves the conversion of synthesis gas to methanol followed by methanol 

conversion to DME (reactions below). In this study, the DME plant uses the indirect 

synthesis route: 

𝐶𝑂 + 2𝐻2  → 𝐶𝐻3𝑂𝐻            (86) 

2𝐶𝐻3𝑂𝐻 →  𝐶𝐻3𝑂𝐶𝐻3 +  𝐻2𝑂          (87) 

 

IV.7.1.4 Ethylene plant 

Ethylene, an important petrochemical intermediate, is produced from a variety of 

feedstock materials including ethane, naphtha, and LPG. In recent years a global shift 

has taken place driven by the increased ethane-based capacity in US. This shift is 

largely due to the substantial increase in shale gas production which typically has a 

larger fraction of natural gas liquids (NGLs) compared to conventional gas reserves. In 

this case study, the capacity of the ethylene plant is 200,000 tonnes/year and is an 

ethane-based plant. 

 

IV.7.7.5 Steel plant 

The steel-making process produces different types of by-product gases including: blast 

furnace gas (BFG) which is produced during hot metal production using coke as a 

reducing agent or coke oven gas (COG) 142. These gases are typically recycled within 

the steel plant and used as a fuel for power generation 143. The plant capacity is 
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2,000,000 tonnes/year and the COG reformate is made available as a source for 

integration in the CHOSYN.  

 

IV.7.7.6 Biodiesel plant 

A variety of renewable sources can be used to produce biodiesel, a promising biofuel 

currently used as a fuel additive.  Transesterification is the method most commonly used 

to convert oils and fats in biomass to biodiesel. This transesterification reaction involves 

the reaction of triglyceride and methanol to produce the biodiesel along with glycerol as 

a by-product 144. Glycerol can be sold but due to current market saturation this is 

becoming more difficult. As part of the assessment, the biodiesel plant converts 150,000 

tonne/year of biomass (soybean oil) into 50 million gallons per year of biodiesel with 

700,000 kg/yr glycerol by-product.  

 

IV.7.7.7 Acetic acid plant 

Acetic acid can be produced from various starting materials including: methanol, 

acetaldehyde, ethylene, and glucose fermentation. Most worldwide production of acetic 

acid involves the reaction of carbon monoxide and methanol in the presence of a metal 

carbonyl catalyst in what is termed methanol carbonylation. In this case study, methanol 

carbonylation is used for the acetic acid plant basis. The plant capacity is 800,000 

tonnes/year of acetic acid. 

 

IV.7.2 Sinks description 

Sinks are processing units within a plant willing to receive sources from the same plant 

and from other plants that are part of the industrial cluster.  Not every plant in the econ-

industrial park is necessarily a sink. This may be due to strict composition requirements, 

safety concerns or reliability.  In this study, the five sinks are: Fischer Tropsch 

Synthesis Reactor, Ethane Steam Cracker, Methanol Dehydration Reactor, Biodiesel 

Transesterification, and Methanol Carbonylation Reactor. The power plant and the steel 

plant provide sources to the other plants but do not make any sinks available to receive 
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internal sources. Each sink has specific input requirements and constraints including: 

flowrate, acceptable impurities, and composition constraints.  This includes maximum 

impurity concentration, minimum species concentration and composition ratio between 

species. The following sections summarize the key information and constraints. 

 

IV.7.2.1 Fischer-Tropsch synthesis (GTL plant) 

The F-T synthesis reactor is a sink within the GTL plant which converts the synthesis 

gas into a distribution of varying length hydrocarbons and steam. An Anderson-Schulz-

Flory (ASF) distribution can be used to model the F-T synthesis product distribution.  

This distribution can be manipulated by changing operating conditions but also by the 

choice of catalyst. In general two types of catalysts are used in F-T synthesis, cobalt and 

iron, with particular syngas input constraints. The syngas composition for the different 

synthesis (Methanol, DME, F-T synthesis) is governed by a stoichiometric constraint 

(M) 145. For F-T synthesis, M depends on whether the F-T synthesis is considered high-

temperature (HT) or low-temperature (LT). For high-temperature Fischer-Tropsch 

(HTFT): 

𝑀 =  
𝐻2−𝐶𝑂2

𝐶𝑂+ 𝐶𝑂2 
= 2          (88a) 

On the other hand, for low-temperature Fischer-Tropsch (LTFT): 

𝑀 =  
𝐻2

𝐶𝑂 
≅ 2           (88b) 

 

The LTFT is chosen as the F-T technology with the allowable impurities being CO2 and 

CH4. The maximum allowable impurities concentration is 5 mol%. In addition, a range 

is allowed for M: 

 (1.9 ≤ H2: CO molar ratio ≤ 2.1)           (89) 

 

 IV.7.2.2 Ethane steam cracker (Ethylene plant) 

Sweet ethane gas is required for the steam crackers which typically operate at 1,700 F 
146. Some allowable impurities include H2, CH4, C3H8, and C2H4 and these impurities 

are usually part of the cracker output recycle. The maximum allowable impurities 
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composition is 10 mol%. In the steam cracker ethane is converted to ethylene along with 

a variety of by-products. The overall ethane to ethylene molar conversion is 

approximately 70%, with the main by-product being a hydrogen-rich off-gas. 

 

IV.7.2.3 Methanol dehydration reactor (DME plant) 

Methanol dehydration is another sink requiring a relatively pure methanol input. Steam 

represents the only allowable impurity with a maximum allowable composition of 1 

mol%. The presence of steam shifts the equilibrium in reverse reducing DME yield. The 

methanol molar conversion is approximately 80% with the unreacted methanol being 

separated in a subsequent column. This unreacted methanol can be recycled back to the 

dehydration reactor to reduce the fresh methanol requirement; however, in this case 

study it is made available for integration as part of the eco-industrial park.   

 

IV.7.2.4 Biodiesel transesterification (Biodiesel plant) 

The transesterification involves the reaction of the biomass (soybean oil) and methanol 

to produce biodiesel and glycerol as the by-product. The optimal methanol to biomass 

molar ratio is 6:1 144. Overall, the biodiesel plant requires 50,000 tonnes/year of 

methanol for the transesterification. Water represents the only allowable impurity along 

with the methanol stream with a maximum allowable composition of 1 mol%. 

 

IV.7.2.5 Methanol carbonylation reactor (Acetic acid plant) 

Methanol carbonylation involves the reaction of methanol and carbon monoxide to 

produce acetic acid.  

𝐶𝑂 + 𝐶𝐻3𝑂𝐻 → 𝐶𝐻3𝐶𝑂𝑂𝐻                      (90) 

While the reaction stoichiometric involves one mole of carbon monoxide and one mole 

of methanol, in practice the CO: CH3OH molar ratio is between 1.4 and 1.6. In this case 

study, the molar composition of methanol must be greater than 40% while the allowable 

impurities (H2O, H2, CH4, and CO2) must not constitute more than 3 mol%. 
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IV.7.3 Internal sources description 

The internal sources represent streams which each plant makes available for integration. 

In reality, not every by-product or waste stream would be made available for 

integration. Whether due to process safety concerns or to avoid potential processing 

disruptions, an industrial plant may choose to not make any stream available for 

integration. In addition, internal sources can also be portions of a stream excess to the 

plant needs. Each internal source has a given flowrate and composition. These sources 

range from waste streams with little or no selling value (Captured CO2) to high value 

streams such as methanol from the DME plant. By making the sources available, the 

plant may avoid waste disposal charges, increase the value of a by-product stream, or 

convert a waste stream into a valuable product.   

 

In this case study, the six internal sources (Table 25) include: F-T tail gas 138, ethane 

steam cracking offgas 146, DME by-product methanol 141, Biodiesel by-product 144, Coke 

oven gas reformate 142, and captured CO2 
147. The GTL plant produces a 15,000 kmol/hr 

tail gas stream. In a GTL plant, the utilization of the F-T synthesis tail gas is an 

important process decision variable 138. The tail gas can be recycled to the reformer or 

the F-T reactor feed to increase the overall conversion. The remaining tail gas is burned 

for heat generation. In practice the GTL plant has excess energy which in most cases is 

used to produce power and subsequently exported to the grid.  In this case study, 90% of 

the tail gas is recycled while the remaining tail gas which would otherwise be burned is 

made available for integration.  

 

During the steam ethane cracking to produce ethylene, a hydrogen-rich offgas is 

produced 146. The unutilized portion of this stream is made available as internal source 2 

for utilization in the eco-industrial park. The unreacted methanol in the DME plant 

which can be recycled directly in the process is made available as internal source 3.  

Internal source 4 glycerol, a major by-product of biodiesel production 144 is currently a 

low-value by-product given the market saturation. COG a major by-product of the steel 
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making industry is source 5. This gas can be reformed to produce a hydrogen-rich 

syngas 142, while captured CO2 from the power plant is source 6. The flowrate and 

composition of each internal source is detailed in Table 25.  

 

 

Table 25: Internal sources available in the eco-industrial park 
Internal 

Sources 
1 2 3 4 5 6 

Plant 
GTL 

Plant 

Ethylene 

Plant 
DME Plant Biodiesel Plant Steel Plant 

Power 

Plant 

Description 
F-T Tail 

Gas 

Ethane 

Cracker 

Offgas 

Methanol  

By-Product 

Glycerol 

By-Product 

COG 

Reformate 

Captured 

CO2 

Flow (kmol/hr) 1,500 1,000 650 25 2,500 10,000 

Composition 

(mol%) 
      

H2 40 70 - - 68 - 

CO 25 - - - 17 - 

CO2 18 - - - 2 100 

H2O 2 - - - 11 - 

CH4 15 20 - - 2 - 

C2H4 - 10 - - - - 

CH3OH - - 100 - - - 

C3H8O3 - - - 100 - - 

 

 

IV.7.4 External sources description 

As unintegrated plants, each satisfies its input requirements using existing external 

sources. Not all external sources can be easily substituted by an internal source or an 

alternative external source. These types of scenarios require that consideration is made 

for the cost savings associated with replacement; but also the capital investment 

associated with the internal source adjustment and the capital invested in building an 

infrastructure reliant on the existing external sources (e.g. coal). A variety of additional 

external sources are also available for utilization. These may be utilized along with the 
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internal sources in the existing infrastructure or may require new infrastructure. Table 

26 provides the cost data for the external sources and Table 27 shows the composition 

of these streams. 

 

 

Table 26: External sources purchase price 
External Source Cost Basis Cost 

Shale Gas $/MMBTU 3.00 

Ethane $/kg 0.220 

Methanol $/kg 0.565 

Hydrogen $/kg 2.000 

Carbon Monoxide $/kg 0.075 

1:1 Syngas $/kg 0.200 

2:1 Syngas $/kg 0.320 

3:1 Syngas $/kg 0.410 

Steam $/kg 0.006 

Oxygen $/kg 0.110 

 

 

Table 27: External Sources Composition 
External 

Resources 
1 2 3 4 5 6 7 8 9 10 

Description 
Shale 

Gas 
Ethane Methanol CO 

1:1 

Syngas 

2:1 

Syngas 

3:1 

Syngas 
H2 H2O O2 

Composition 

(mol%) 
          

CH4 85 - - - - - - - - - 

C2H6 11 100 - - - - - - - - 

C3H8 3 - - - - - - - - - 

CO2 1 - - - - - - - - - 

CH3OH - - 100 - - - - - - - 

H2 - - - - 50 67 75 100 - - 

CO - - - 100 50 33 25 - - - 

H2O - - - - - - - - 100 - 

O2 - - - - - - - - - 100 
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IV.7.5 Solution approach 

The information and data provided in the previous sections are used to synthesize the 

CHOSYN via the aforementioned optimization and targeting approaches. First the 

atomic targeting approach is formulated to identify base case atomic deficiencies (needs 

of external resources) and maximum atomic utilization for C, H, and O. This is followed 

by the raw-material cost targeting, used to target for the best combination of internal and 

external sources to minimize the cost of external sources.  For the atomic and economic 

potential targeting, the interception network is considered a black box capable of 

converting the selected sources to the required species for the sinks while meeting the 

sink constraints (Figure 21).  

  

 

 
Figure 21: CHOSYN Case Study Representation 
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These targets do not identify the specific interceptors required to achieve these targets or 

the capital investment associated with the interceptor network. These are determined 

through the general optimization formulation of the superstructure shown by Fig. 18. 

 

IV.7.5.1 Interceptor network 

The final step is to use the information from the targeting to help in synthesizing the 

CHOSYN. This is crucial in making a final determination if such a CHOSYN can 

provide actual savings compared to an unintegrated industrial cluster. The general 

modelling equations for the jth interceptor as described by Eq.69 are included for 

specific interceptor models such as methanol synthesis, water-gas shift reactor and 

reformer models. As described, these models are a function of operating conditions 

along with inlet composition and flowrate. Each interceptor also has a particular input-

output process model. The interceptor models also prevent certain sources from entering 

specific interceptors. For example, the gas plant may only receive natural gas or shale 

gas resources.   

 

IV.7.5.2 Interceptor network unit models 

The process models consist of a mix of grey-box and black-box models. The black-box 

models are input-output models which include mass and energy balances along with 

unit size. The grey-box process models include variable inputs, outputs, and unit 

performance. The models are described in terms of molar flows, component molar flow, 

and temperature of the various streams.  

 

IV.7.5.2.1 Gas plant 

A typical gas plant is used for acid gas removal, dehydration, nitrogen removal and 

fractionation. The gas plant may only exist if shale gas is chosen as an external source.  

The plant includes a de-methanizer and de-ethanizer capable of producing pipeline 

quality natural gas and a 90% ethane stream respectively. In addition, the de-ethanizer 

produces a propane rich stream (75% propane). This propane rich stream can be sold or 
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mixed with the pipeline quality natural gas produced by the as feed for reforming. An 

additional constraint is placed on the pipeline C2+ concentration to ensure that it does 

not exceed 5% mol. The gas plant power requirement and energy requirement are 970 

kWh/d and 30 MMBtu/h respectively per MMscfd of feed 148. In the formulation two 

distinct gas plants are modelled. The first type of gas plant includes a de-ethanizer to 

produce an ethane stream appropriate for ethylene production. The second type of gas 

plant does not include a fractionation section. In this case, the de-methanizer produces a 

natural gas liquids (NGL) stream which can be sold as a by-product or sent to a 

reformer subject to the pipeline constraint. 

 

IV.7.5.2.2 Syngas generation unit (SGU) 

The syngas generation unit consists of the necessary reforming system along with the 

necessary utility system and H2O removal. The reforming system can accept any of the 

available resources. The type of reformer depends on the oxidant chosen such as: H2O 

(Steam reforming), CO2 (Dry reforming), O2 (Partial oxidation), and multiple oxidants 

indicate combined reforming. The total Gibbs free energy minimization method is used 

to model the reforming used for syngas generation 149. The following species were 

chosen to accurately represent the reforming outputs: CH4 (g), CO2 (g), CO (g), H2O (g), H2 

(g) and solid carbon modeled as graphite C(s). The method of Lagrange’s undetermined 

multipliers is used to find the set of nc that minimizes the total Gibbs free energy for a 

given temperature and pressure. This can be expressed as: 

∑ 𝑛𝑐 (∆𝐺𝑓𝑐
0 + 𝑅𝑇 ln

𝑦𝑐𝜙𝑐𝑃

𝑃0
+ ∑ 𝜆𝑒𝑎𝑐𝑒

𝑒

) + (𝑛𝐶(𝑠)Δ𝐺𝑓𝑐(𝑠)
0 ) = 0  

𝑁−1

𝑐=1

 

                         (91) 

where ∆𝐺𝑓𝑐
0  is the standard Gibbs of formation of species c, R the molar gas constant, T 

temperature (K), ɸ̂c is the fugacity coefficient of species c, ace is the number of atoms of 

the eth element and Ae  is the total mass of the eth element, and λe the Lagrange multiplier 

for element e, subject to the mass balance constraints: 

∑ 𝑛𝑐𝑎𝑐𝑒 =  𝐴𝑒𝑐                 (92) 
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In this approach the choice of reactions does not enter directly into the formulation and 

thus the input-output model allows any CHO inputs subject to the atomic mass balance 

constraints. The reformer pressure is set at 20 bar 150 while the temperature is allowed to 

vary between 1000 and 1500 K. The different oxidants (H2O, CO2, O2) are allowed to 

vary with the maximum 4:1 allowable steam to carbon (S: C) ratio. As described in 

Noureldin et al., a systematic approach is ensured through the utilization of correlations 

for ∆𝐺𝑓𝑐
0  and ∆𝐻𝑓

0  and the dependence on temperature. The corresponding energy 

balance is also calculated.   

 

In this formulation glycerol reforming is carried out in an independent reforming system 

which is modeled in a similar manner. The raw syngas exiting the reformer section is 

sent to a cooler followed by a flash column to remove any water. The syngas 

composition from each reforming technology can be quite different. This impacts the 

downstream syngas conditioning including the need for CO2 removal and H2: CO ratio 

adjustment. 

 

IV.7.5.2.3 Syngas conditioning (Shift reactor)  

Depending on the reformer technology chosen, different syngas conditioning 

technologies may be necessary. Following reforming, a water-gas shift (WGS) or 

reverse-water-gas shift (RWGS) reactor may be needed to adjust the H2: CO ratio. The 

WGS reactor is modeled as an equilibrium reactor along with an energy balance. The 

model is based on the following reaction:  

𝐶𝑂 +  𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2           (93) 

 

IV.7.5.2.4 CO2 separator  

To meet the sink constraints, the syngas can be sent to a CO2 separator to reduce CO2 

content of the syngas. Typically industrial scale CO2 removal units involve the selective 

absorption of CO2 using monoethanolamine (MEA) or diethanolamine (DEA).Typically 

CO2 capture efficiencies range between 85-95% and a purity of 99.5% 151.  The modeled 
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CO2 separator is capable of removing up to  90 mol% of CO2 with a purity of 99.5% 
152. 

In this study, the CO2 separator is assumed to be an MEA system with the total cost of 

CO2 removal assumed to be $30 per tonne 151. This includes an operating cost of 

approximately $15 per tonne. 

 

IV.7.5.2.5 CO separation 

The separation of carbon monoxide from a syngas mixture is important where pure CO 

is required such as the production of acetic acid, polyurethane, formic acid and 

phosgene. While pressure swing adsorption (PSA) produces a CO-rich by-product 

stream, this does not yield a CO stream with a sufficient purity for use in the previously 

mentioned processes. The CO separation can be through the cryogenic separation, the 

Cosorb® process or the methanation of H2 product.  

 

These methods are able to produce a 99+ mol% CO stream but vary in cost and CO 

recovery. These methods also require varying degree of H2O and CO2 prior to CO 

removal. The CO separation is modeled as a typical COSORB® process which 

produces a 99.5 CO mol% stream with a 98% CO recovery 153. The absorption-

desorption reaction is represented by the following equation: 

𝐶𝑢𝐴𝑙𝐶𝑙4𝐶7𝐻8 + 𝐶𝑂 ↔ 𝐶𝑢𝐴𝑙𝐶𝑙4𝐶𝑂 +  𝐶7𝐻8        (94) 

 

During the absorption, the reaction proceeds to the right while during regeneration the 

complex is heated and the reaction proceeds to the left. The utility consumption for the 

CO separation is as follows: 

Electrical power: 12 kW/kmol CO recovered 

Stripper Reboiler Duty: 25 MJ/kmol CO recovered 

Cooling Water: 140 MJ/kmol CO recovered 
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IV.7.5.2.6 Methanol synthesis plant 

The methanol synthesis reactor converts CO and H2 into methanol and water. This 

conversion is favored by low temperature and high pressure.  The methanol synthesis 

section is modelled based on the information provided in Ehlinger et al. 134. The molar 

hydrogen conversion to methanol is approximately 36%. The major operating cost for 

methanol production is the feedstock cost and oxidation (steam or oxygen) involved in 

the syngas generation section (≈ 90%) 134. These costs are included as part of the 

previously mentioned reforming model. In addition, heating and cooling utilities along 

with power consumption for the methanol synthesis portion of the plant are as follows: 

Heating: 1 MMBTU per tonne methanol produced 

Cooling: 7.5 MMBTU per tonne methanol produced 

Power Consumption: 80 kW per tonne methanol produced 

 

IV.7.5.3 Economics 

The capital and operating cost for the interceptor network are calculated using various 

literature sources. The fixed capital investment (FCI) is annualized over a period of 10 

years to convert to annualized fixed cost (AFC). The plants are assumed to operate 

8,000 hours per year.  

 

IV.7.5.3.1 Capital investment 

The FCI for the interceptors is calculated using estimates from various literature 

sources. A lang factor of 5 is used to convert the purchased equipment cost (PC) to the 

fixed capital investment 154. The FCI for each interceptor is summarized in Table 28 for 

2014. The correlations summarized in table 28 are of the form: 

                         FCI = bCapacityn                                                      (95) 

where b is the cost constant, Capacity is the capacity of the equipment or plant, and n is 

the scaling factor for the equipment.  
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Table 28: Fixed capital investment data 

Unit 
Capacity 

Basis 

Base Case 

Capacity 

Base Case Cost 

($MM) 
b n Ref. 

Gas Plant &NGL 

Fractionation MMscf/d 600 900.0 19.39 0.60 148 

Satd. Gas Plant MMscf/d 13 33.0 5.50 0.70 148 

Reforming MMBTU/hr 159 35.6 1.03 0.70 34 

Glycerol Reforming MMBTU/hr 159 35.6 1.03 0.70 34 

Methanol Synthesis 

Plant* TPD 5000 780.0 4.71 0.60 134 

CO2 Separator tonne CO2 /hr 28 25 2.1 0.75 155 

LT Shift Reactor tonne/hr 161 3.4 0.20 0.56 34 

HT Shift Reactor tonne/hr 161 2.3 0.13 0.56 34 

CO Separation lb/hr 14260 45.0 0.14 0.60 34 

*excluding reforming (40% of TFC for methanol plant) 

 

 

IV.7.5.3.2 Operating cost 

The major components of the operating cost for the CHOSYN are external sources (raw 

materials), utilities cost, labor cost, and maintenance cost. The annual operating cost 

(AOC) is calculated as follows: 

AOC = CRM + COL + CUT  + 0.06 CMT                                                                            (96) 

where CRM, COL, CUT, CMT represent the operating costs associated with raw materials, 

labor, utilities, and maintenance respectively156.    

 

The operating labor cost can be estimated using the correlation by Alkhayat and Gerrard 
156. This is given by: 

NOL = (6.29 + 31.7P2 + 0.23Nnp)0.5          (97) 

where  NOL is the number of operators in each shift, P is the number of processing steps 

which handle particulate solids,  Nnp is the number of process steps that handle non-

particulate solids. In this study, P is zero due to the lack of solids handling processing 

steps. This reduces equation (97) to: 

NOL = (6.29 + 0.23Nnp) 0.5                                            (98) 
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Assuming that a single operator works on average 49 weeks per year and five 8-hour 

shifts per week, leads to a total of 245 shifts per operator per year. For a plant operating 

365 days/year, 24 hours/day, and 3 shifts/day a total of 1,095 shifts required per year. 

This means that approximately 4.5 operators are required for each operator needed in 

the plant at any specific time. In this case study, it is assumed that the cost of system 

operators is $30 per hour which is comparable for Gulf Coast region 156.   

 

The maintenance cost is calculated through the following expression: 

CMT  = 0.06FCI            (99) 

 

 

Table 29: Operating cost data 

Utilities Cost Basis Cost 

Heating $/MMBTU 4 

Cooling $/MMBTU 2 

Power $/kWh 0.06 

Labor Cost $/hr 30 

 

 

IV.8 Results & discussion 

As described earlier, the atomic target for eco-industrial parks is an important first step 

in identifying which atoms are in excess or deficiencies with respect to the internal 

sources (Table 30).  This is followed by the raw material targeting and CHOSYN 

design. 

 

IV.8.1 Atomic targeting using maximum mass integration 

The minimum atomic flows Sinks
cA , Sinks

HA , Sinks
OA are determined for the sinks subject to 

the restrictions previously described by constraints (59), (72), and (73). This target is for 

the maximum utilization of internal sources to achieve the sink demands. 
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Table 30: Atomic targeting for the case study 
Description Carbon Hydrogen Oxygen 

Source Atomic Flow (kmol/hr) 12,520 11,710 22,470 

Minimum Sink Atomic Requirement (kmol/hr) 20,798 69,754 17,995 

Atomic Balance (kmol/hr) -8,278 -58,044 4,475 

Atomic Deficiency (% ) 40 83 - 

Atomic Surplus (%) - - 25 

 

 

The atomic deficiency indicates that even if all the internal sources are used towards 

meeting the minimum sink atomic requirements and constraints on ratios and 

compositions, it would not be enough to meet the carbon and hydrogen demand. The 

hydrogen deficiency indicates that the internal source are only able to provide a small 

fraction of the hydrogen requirement and that the majority of that demand must be met 

using external sources. This indicates that the focus of external source addition will be 

to provide the necessary carbon and meet the minimum sink hydrogen requirement 

since that is the highest atomic deficiency. 

 

The results also show that the bulk of the oxygen required by the sinks can be provided 

by upgrading the internal sources. The surplus of oxygen also indicates that complete 

utilization of the internal sources is not possible as this would exceed the sink 

requirements. This provides a lower bound on the internal source utilization and 

potential waste generation. Of the internal sources, CO2 is the largest source (10,000 

kmol/hr) and this provides 20,000 kmol/hr. Given that this CO2 accounts for 

approximately 90% of the oxygen provided by the internal sources and is more than 

required by the sinks, the expectation for the subsequent targets and CHOSYN 

implementation is that a portion of the CO2 available will not be utilized.  This is an 

important insight from a design perspective in which the maximum CO2 utilization can 

be determined. This also shows that CO2 utilization is not only reduced by energy 

constraints, economic constraints but also be simple atomic constraints.  
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IV.8.2 Raw-material cost targeting 

Once the overall atomic targets are established, it is important to identify the best 

utilization of available internal and external sources. As previously discussed the raw 

material cost targeting provides a target based on the cost of the various internal and 

external sources to satisfy the sink requirements. This can come in a variety of targets 

including minimum fresh cost or minimum waste. For this target, the internal and 

external sources enter the CHOSYN, the species are broken down into CHO atoms and 

all the species required to achieve the particular objective are built subject to the sink 

constraints. At this level of targeting, there is no need to specify the individual 

interceptors, interceptor configuration, or the interceptor network. Only their tasks are 

determined. The approach assumes that the technology exists to convert the chosen 

sources into the necessary combination of required species. Later, in the implementation 

stage, the type, performance, configuration, and cost of the interceptors will be 

determined.   

 

Table 31 summarizes the type and cost of the external sources used in the unintegrated 

plants. Based on 8,000 hours of operation, this is equivalent to $1.84 billion in total 

external source cost. Depending on the eco-industrial park ownership model, the sources 

made available can range from waste streams to final products. If the eco-industrial park 

has a single owner, plants would not be directly compensated for sources they make 

available to other plants. Of the available internal sources, the by-product methanol 

streams can be internally recycled reducing the external source purchase cost to $1.75 

Billion. The GTL plant is the largest single user of external sources and accounts for 

approximately 46% of the total raw material cost for the industrial cluster.  

 

 

 

 



 

101 

 

Table 31: Existing External Sources Flowrate and Cost 
Industrial Plants Flow  

(kmol/hr) 

External Sources 

Cost ($MM/yr) 

Total Site External Source 

Cost Breakdown (%) 

GTL plant 29,500 802 46 

Ethylene plant 1,250 66 4 

DME plant 4,500 554 31 

Biodiesel plant 225 32 2 

Acetic acid plant 4,360 295 17 

Total 39,835 1,750 100 

 

 

IV.8.2.1 Minimum fresh cost (Total site objective) 

If the entire site has a single owner, then the internal sources are exchanged for no cost 

to potential users on-site. Using the raw materials cost targeting approach, the minimum 

external sources cost is calculated to be   $232 million. This target represents a potential 

87% reduction in external source cost compared to the total cost for the individual 

unintegrated plants. In this case, the external sources utilized are exclusively shale gas 

(11,349 kmol/hr) and steam (4,803 kmol/hr). The remaining sink requirements are met 

by utilizing the available internal sources. The results show that not all the available 

internal sources are to be utilized. This is attributed to the constraints on composition 

and ratios of components. 

 

Approximately 30% of the available captured CO2 stream (2,955 kmol/hr) is sent to 

waste. It is important to recognize that from this target, the existing external sources 

have been replaced by internal and external sources which would require additional 

capital investment. This means that even though the internal sources can potentially 

provide the entire sink oxygen requirement and in fact is in excess, the actual utilization 

is lower due to economic objectives. Once detailed capital and operating costs of the 

CHOSYN are considered, the actual CO2 utilization should be even lower as it is 

becomes less economic to convert into other species.  
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When compared to the maximum atomic utilization target, the minimum fresh target 

leads to the same maximum atomic utilization target for hydrogen (58,044 kmol/hr). 

The lack of hydrogen and that fact that hydrogen deficiency was by far the highest leads 

to an optimal solution that aims to meet the minimum sink hydrogen requirement. This 

is also related to the abundance of a cheap source of carbon and oxygen in the form of 

CO2. Thus there is a strong link between maximizing a particular atomic utilization and 

minimum fresh cost target, with the target matching closely the minimum deficiency for 

one of the atoms. 

 

IV.8.2.2 Minimum external source cost (Single plant objective) 

If the objective is to first minimize the external source purchase cost for an individual 

plant, then the maximum internal source routing to that site would take place with any 

remaining sources available from the other plants. This may be the case if the intention 

is to begin integration with one plant and subsequently increase the site integration or if 

an individual plant commands much greater decision control compared to the rest. For 

example, if the GTL plant is taken as the basis, the external sources cost for the F-T 

synthesis reactor as part of the unintegrated site is approximately $800 million per year. 

 

By making all the internal sources available for the GTL plant, the external source cost 

can be reduced to $93 million per year, a potential savings of 89%. Once again, the 

selected external sources are shale gas (4,473 kmol/hr) and steam (2,960 kmol/hr). The 

GTL plant uses all of the available internal sources with the exception of the captured 

CO2 source where only 4,500 kmol/hr are utilized. This leaves 3,500 kmol/hr of the 

captured CO2 available for utilization by the remaining sinks along with the necessary 

external sources.  The external source cost for the remaining sinks is approximately 

$140 million. 
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IV.8.3 CHOSYN design 

The foregoing targets identify benchmarks and the appropriate external resources to 

maximize economic potential if internal sources are used. The final step is to use these 

targets to aid in the synthesis of an interceptor network capable of converting the 

various internal and external sources into the necessary species. The interceptor network 

must also take into account both capital and operating costs. As part of the formulation 

the following questions are answered:  

 Does an implementation exist capable of achieving these targets?  

 Does the implementation utilize the same external sources? 

 Given the capital and operating cost associated with the implementation is this an 

improvement over the unintegrated industrial complex? 

 If a single plant within the industrial complex proposes utilization of the internal 

sources does this represent an economic benefit for the plant and/or the industrial 

complex?   

 

IV.8.3.1 CHOSYN interceptor network formulation 

Figure 22 is the superstructure for the CHOSYN of the case study. It is used to allocate 

all the sources (internal and external) to each of the individual interceptors as previously 

discussed. There are multiple input and output nodes from each interceptor and sink. In 

addition, sources may be directed to a blank sink which then recycles these sources to 

enter the CHOSYN. Finally, sources to be discarded are directed to a waste sink. The 

optimization program described by Eqs. (56)-(69)  was developed for the case study 

using the previously described data, constraints, and cost functions. The software 

LINGO was used with the Global Solver to solve the resulting mixed integer nonlinear 

program (MINLP). 
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IV.8.3.2 Entire-site objective CHOSYN implementation 

The solution is shown by Figure 8 which represents the CHOSYN implementation for 

the optimal interceptor network. The amount of external source utilization is slightly 

greater than indicated by the targets and subsequently the internal source utilization is 

lower. Therefore, once the total cost (operating and capital) associated with internal 

source conditioning is considered, the decision can be to discharge or sell these internal 

sources rather than upgrade them. Similar to the initial targets, shale gas and steam are 

the chosen external sources. 

 

The amount of CO2 sent to waste (3,533 kmol/hr) is approximately 10% greater than the 

amount in the raw material target (2,955 kmol/hr). This decrease in CO2 utilization is 

related to the cost-benefit of upgrading the CO2 into useful products. In the targeting the 

assumption is that the sources can all be completely converted to the target species. In 

reality, at the maximum allowable reformer temperature (1,500 K) approximately 98% 

of the hydrocarbons (CH4, C2H6, C3H8, and C2H4) are converted into the target species. 

The lower hydrocarbon conversion impacts hydrogen yield more than carbon monoxide 

leading to a lower H2: CO ratio. These lower ratios would not meet the sink constraints.  

This explains the shift in CO2 utilization to greater steam utilization to increase the 

hydrogen yield to achieve the H2: CO ratios required by the sinks and other interceptor 

units.  

 

The shale gas enters a gas plant which fractionates the shale gas to produce an ethane-

rich stream, natural gas stream, and propane-rich by-product stream. The 240 MMSCFD 

gas plant has an energy requirement of 7,200 MMBtu/hr and a power requirement of 

233,000 kWh/d. The produced ethane stream is 90 mol% ethane and 10 mol% methane. 

This stream is sent to the ethane cracker for ethylene production. The pipeline quality 

natural gas stream and the propane-rich by-product stream are both sent to the syngas 

generation unit along with the coke oven gas, ethylene offgas and the F-T Tail gas 

streams.  
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These streams are reformed in a combined reformer in the presence of steam and the 

captured carbon dioxide. The syngas provider produces a syngas with a H2: CO ratio of 

1.5:1. In addition, the syngas provider removes the water from the syngas and makes it 

available for further utilization. The energy requirement of the syngas provider is 

approximately 4,350 MMBTU/hr. The produced syngas is split into two streams. One 

stream makes up 14 mol% of the total syngas produced and is sent to the CO separation 

unit. The CO separator produces a carbon monoxide stream which is 99.5 mol% CO.  

 

The CO separator recovers 2,485 kmol/hr with a total energy requirement of 59 

MMBTU/hr and a power requirement 716,000 kWh/d. This CO stream is subsequently 

sent to the acetic acid sink. The second syngas split is sent to a water-gas shift reactor 

where carbon monoxide and steam are converted to hydrogen and carbon monoxide. 

The water-gas shift is necessary to increase the H2: CO ratio to achieve the ratio 

required by the sinks and other interceptors. The WGS utilizes approximately 93 mol% 

of the water generated by the syngas provider. The use of a low-temperature WGS at 

285 ˚C results in 90% water conversion and increases the H2: CO ratio from 1.5 to 1.7. 

The WGS heating requirement is approximately 170 MMBtu/hr. 

 

The syngas from the WGS reactor is split into a stream to the methanol synthesis plant 

(47 mol%) and one that is directly fed to the F-T synthesis sink (53 mol%).  The syngas 

stream sent to the methanol plant is combined with the CO separator by-product stream 

which is a hydrogen-rich stream. The combination of these streams leads to a methanol 

synthesis feed with a syngas ratio of H2: CO close to 2.2 which satisfy the interceptor 

constraints. As previously indicated, the methanol synthesis plant includes the necessary 

compression, and product separation.  

 

In the methanol plant, the hydrogen conversion is 72 mol% and produces a methanol 

product stream which is 99% methanol and 1% water. The methanol plant is designed to 

produce 1.5 million tonnes per year of methanol. This results in a heating requirement 
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of 186 MMBTU/hr and cooling requirement of 1,400 MMBTU/hr. In addition, the 

power consumption is 357,600 kWh/d. The produced methanol product is sent to the 

following sinks: DME synthesis, biodiesel tran-esterification, and acetic acid synthesis.   

 

The methanol synthesis off-gas stream is sent to a CO2 removal unit which ensures that 

the F-T synthesis feed impurities are less than 5 mol% as indicated in the sink constraint 

description. The methanol synthesis off-gas is hydrogen-rich and thus is sent to the F-T 

synthesis reactor to combine with the abovementioned WGS output stream to satisfy the 

F-T synthesis sink constraints. It is important to realize that the methanol produced as 

by-product from DME synthesis which was made available as an internal source for 

integration with any of the sinks is recycled directly to the DME synthesis and does not 

enter any interceptors.  

 

The result shows that some internal sources are recycled within the plant where they 

originate (DME synthesis by-product methanol) while others may be utilized by other 

plants (e.g. ethane cracker offgas). If the plants are considered simultaneously this 

removes the constraints placed by individual plants on specific resource utilization 

which can potentially lead to a better economic solution. The interceptors vary in 

complexity and scale and in the implementation the interceptors consist of individual 

process units (e.g. CO2 removal), major processing sections (e.g. syngas generation 

unit), and entire plants (e.g. gas plant).  

 

Table 32 summarizes the fixed capital investment (FCI) for the interceptor network and 

the annualized fixed capital (AFC) using a 10-year linear depreciation with no salvage 

value. The methanol plant is the largest single capital investment accounting for 

approximately 40% of the FCI.  
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Table 32: Capital investment for CHOSYN implementation (Entire site objective) 

Unit Cost Basis Capacity FCI 2014 ($MM) AFC ($MM/yr) 

Gas Plant &NGL Fractation MMscf/d 240 520 52 

Reforming MMBTU/hr 4350 354 35 

CO Separation tonne/hr 69.4 185 19 

LT Shift Reactor tonne/hr 555 7 1 

Methanol Synthesis Plant tonne/hr 188 733 73 

CO2 Removal Unit tonne CO2/hr 27 25 2 

Total 
  

1,824 182 

 

 

Assuming the working capital investment is 10% of the total capital investment (TCI), 

this would result in TCI being approximately $2 billion. The results show that the 

external source cost is dominated by the cost of the shale gas. The steam represents a 

cheap hydrogen-rich source and is utilized globally for the steam reforming of methane 

for hydrogen production.  

 

 

Table 33: External sources cost for CHOSYN implementation (Entire site objective) 

 

 

 

 

 

 

In addition to the external sources cost, the utilities and labor cost were also calculated 

for the various interceptor units. The gas plant and NGL fraction is the largest utility 

user with approximately $180 MM/yr for heating and cooling. The gas plant and syngas 

generation unit account for roughly 84% of the total utility cost. In particular, the 

External Sources Cost Basis Price ($) CRM (($MM/yr) 

Shale Gas $/MMBTU 3 228 

Steam $/1000 kg 6 4 

Total   232 
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heating requirement makes the bulk of the utility cost. The operating cost was also 

calculated for the interceptor network (Table 35).  

 

 

Table 34: Utilities and labor cost for CHOSYN implementation (Entire site objective) 
Interceptor Cost Basis CUT 

($MM/yr) 

COL ($MM/yr) 

Gas Plant & NGL Fractionation MMscf/d 235 2.2 

Syngas Generation Unit MMBTU/hr 139 1.7 

CO Separation kmol CO recovered 16 1.3 

Water-Gas Shift Reactor H2O Conversion 5 1.2 

Methanol Synthesis Plant tonne methanol 36 1.9 

CO2 Removal Unit tonne CO2/hr 3 1.2 

Total  434 10 

 

 

Table 35: Operating cost ($MM/yr) for CHOSYN implementation (Entire site 

objective) 

Cost Cost 

CRM  232 

CUT 434 

COL  10 

CMT 109 

AOC ($MM/yr) 785 

 

 

The annual operating cost (AOC) is calculated using eq. (96). Based on the results given 

by Tables 32 and 35, the total annualized cost (TAC) for the CHOSYN is $967 MM/yr 

which represents a $660 MM of annual savings compared to the unintegrated industrial 
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cluster. Table 13 summarizes the key economic findings for the implementation of the 

optimal CHOSYN. 

 

 

Table 36: Economic summary for CHOSYN implementation (Entire site objective) 
Economic Summary Value 

Eco-Industrial Park Integration Cost  

Additional AFC ($MM/yr) 182 

Additional AOC ($MM/yr) 785 

Additional TAC ($MM/yr)  967 

Overall CHOSYN Economic Outcome  

Unintegrated External Sources Cost ($MM/yr) 1,840 

Savings due to Integration ($MM/yr) 873 

CHOSYN Savings (% of unintegrated complex) 47% 

Payback Period (years) 1.7 

 

 

In the case study, the shale gas price was assumed to be $3/MMBTU. Assuming an 

additional 25% cost margin between shale gas and natural gas, this price corresponds to 

a natural gas cost of $3.75/MMBTU. With the increasing demands for shale gas 

utilization, the base-case design should be examined for a possible increase in shale gas 

price. Table 37 shows the impact of an escalation in shale gas price to 5 and 7 

($/MMBTU) on the annual savings and payback period of the CHOSYN. 

 

 

Table 37: Sensitivity of CHO interceptor network savings to change in shale gas price 
Shale Gas Price 

($/MMBTU) 

TAC ($MM/yr) Annual Savings (%) Payback Period (years) 

3 967 47 1.7 

5 1,375 25 2.8 

7 1,781 3 7.6 
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IV.8.3.3 Single plant objective CHOSYN implementation 

A situation may exist where only one member of the industrial cluster is willing to make 

a capital investment to utilize the available internal sources from the other plants. A 

difference between the entire site integration and only one plant is that resources of 

importance to the individual plants may not be now made available for integration. For 

example, the methanol by-product from DME synthesis would not be made available for 

integration as this would naturally be recycled in the DME plant to reduce fresh 

consumption. Figure 24 represents the implementation for a single plant (GTL Plant) 

utilization of the internal sources made available.   

 

The raw material target indicated the use of shale gas (4,958 kmol/hr) and steam (3,325 

kmol/hr). All the internal uses are utilized with the exception being the DME by-product 

methanol which is not made available for integration. The CO2 utilization is 

approximately 3,670 kmol/hr. In the CHOSYN implementation, the shale gas utilization 

is similar to the value predicted by the raw material target while the steam consumption 

increases (4,300 kmol/hr) and CO2 utilization decreases (3,251 kmol/hr). In addition, the 

glycerol generated in the biodiesel production is sold and not utilized in the CHOSYN.   
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The implementation helps to explain the 30% increase in steam utilization. If the steam 

utilization remains as indicated by the target, the syngas generation unit produces a 

syngas with a low H2: CO ratio (close to 1.2:1). This requires extensive syngas 

conditioning which drastically increases the size and cost of the subsequent WGSR and 

CO2 removal units.  By increasing the steam input and reducing the CO2 input, the H2: 

CO ratio of the syngas is closer to 1.7:1 which reduces the duty and the size of the 

subsequent syngas conditioning units.  

 

Similar to the implementation for the entire site integration, shale gas enters a gas plant 

sized to process 100 MMSCFD. This gas plant is approximately 40% of the size of the 

gas plant required for the complete site integration. The gas plant does not include 

natural gas liquids fractionation as it is not needed. The gas plant power requirement 

and energy requirement are 9,700 kWh/d and 3,000 MMBTU/h respectively. The output 

stream along with steam, captured CO2 and the remaining internal sources are sent to 

the syngas generation unit which requires 2,713 MMBTU/hr. The syngas generation 

unit produces a syngas with a H2: CO ratio that is close to 1.7:1 .  

 

The syngas is subsequently sent to a CO2 removal unit which removes 39 mol% of the 

CO2 in the syngas generation output. The syngas stream is sent to a WGS reactor where 

approximately 8 mol% of the CO reacts with steam to increase the H2: CO to 1.9:1. The 

WGS reactor operates at 345 ˚C and the heating requirement is approximately 307 

MMBTU/hr.  Once again the results show that the optimal implementation solution 

relates to minimizing the amount of hydrogen generated by satisfying the lower bound 

on hydrogen requirement for the F-T synthesis.  

 

Table 38 summarizes the FCI for the interceptor network and the AFC. The FCI for the 

CHOSYN is approximately $394 MM. This represents only 22% of the CHOSYN FCI 

for the entire site integration while the GTL plant makes up 45% of the external source 
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cost.  The syngas generation unit is the single most expensive item and makes up 62% 

of the FCI.  

 

 

Table 38: Capital Investment for CHOSYN Implementation (Single Plant Objective) 
Unit Cost Basis Capacity FCI 2014 ($MM) AFC ($MM/yr) 

Gas Plant  MMscf/d 100 136 13.6 

 Syngas Generation Unit MMBTU/hr 2,550 243 24.3 

CO2 Removal Unit tonne CO2/hr 7 9 0.9 

LT Shift Reactor tonne/hr 360 6 0.6 

Total 
  

394 39.4 

 

 

The annual external sources (raw material) cost, utility cost, and labor cost were all 

calculated for the interceptor network. The total utility cost is approximately $189 MM 

while the labor cost is close to $6MM. The total annualized operating cost is $ 322 MM. 

The utilities cost accounts for 59% of the total annualized cost compared to 45% for the 

total site integration. 

 

IV.9 Conclusions 

The new problem of synthesizing a CHOSYN has been introduced. Focus is given to 

integrating multiple facilities through a common interception system while tracking 

individual carbon, hydrogen, and oxygen atoms and using atomic-based targeting to 

synthesize a macroscopic system. A systematic approach for the design and integration 

of CHOSYNs has been presented. First, two atomic-based targets are identified to 

determine maximum utilization and minimum cost of raw materials. Next, an 

optimization formulation was devised to synthesize a CHOSYN that include 

distribution, allocation, physical and chemical conversions of internal and external 

streams as well as usage in existing and added infrastructure.   The atomic utilization 

and raw material targets are not only important in benchmarking the potential for a 



 

116 

 

CHOSYN and determining the potential feedstock which make the most economic 

sense but also for gaining a deeper understanding of the system from a process design 

perspective. The unique feature of the C-H-O basis is the ability to identify the potential 

synergy among all the various species involved in the system.  

 

Whether the raw materials (e.g., shale gas, biomass, coal), intermediates (e.g., H2, CO, 

CO2, MeOH, C2H6), or products (e.g., chemicals, petrochemicals, fuels), they all share 

fundamental atomic relationships. The key becomes how to manipulate the available 

species to produce the system which maximizes economic benefit, raw material 

utilization, capital utilization, and minimizes waste generation.  A case study was solved 

and analyzed for various objectives. The resulting savings and the attractive payback 

periods indicate that the implementation of CHOSYNs may yield significant economic 

benefit. This includes the reduction in external sources, reduction in waste disposal, and 

the upgrading of by-product streams to higher value products. 

 

Thus integrated biomass and natural gas systems can produce a variety of different 

products including liquid transportation fuels and chemicals. With the continued shale 

gas expansion leading to low natural gas prices the prospect of using these feedstock as 

an alternative to petroleum will improve. In particular the high ethane and propane 

fraction in some shale gas plays will lead to increased cracking to produce the building 

blocks for the chemicals industry. It is also crucial that technical breakthroughs for 

direct methane conversion are investigated to add further value to the methane fraction. 

Syngas will also continue to be an important intermediate because of the flexibility it 

allows in connecting various feedstock with multiple products. The high hydrogen to 

carbon ratio in methane makes it a good oxygen acceptor (producing water) and freeing 

carbon in CO2 for utilization. The next chapter investigates the use of natural gas 

(methane) in chemically sequestering CO2 through dry reforming. 
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CHAPTER V 

DESIGN OF A DRY REFORMING BASED CO2 FIXATION PROCESS 

 

V.1 Introduction 

In recent years, societies and governments have begun to change their fundamental 

views on the impact of human development on climate change. The increased use of 

fossil fuels, deforestation, and increased industrial activity has contributed to the 

increase in greenhouse gas (GHG) emissions. The debate has recently shifted to focus 

on sustainable design to reduce GHG emissions in new systems and the mitigation of 

existing sources 157,158. Energy use and in particular hydrocarbon fuel combustion 

represents the largest source of emissions159. CO2 emission from fuel combustion is the 

single largest source of GHG emissions. In particular, CO2 from the energy sector 

accounts for more than 60% of global emissions159. Together electricity/heat generation 

(42%) and industrial (21%) sectors are responsible for nearly two-thirds of total 

worldwide emissions of CO2
159.  With increasing population growth, growing energy 

demand, and economic development these numbers are only expected to increase. 

 

This has led to significant research effort being dedicated to the issue of CO2 emissions 

mitigation through emission reduction, capture & sequestration, and utilization. In terms 

of reduction, the use of renewable energy (i.e. solar, hydro, biomass, wind, etc.) has 

steadily increased in recent years160,161. Increased energy efficiency and conservation 

through improved industrial process design is also expected to lead to reduction in CO2 

emissions162. While a shift in fossil fuel utilization from coal to natural gas also results 

in lower CO2 emissions; increased use of natural gas increases the probability of 

methane leaking and emissions. Given the potency of methane as a GHG (33 times 

greater than CO2 for 20-year horizon) this may present new challenges163.   The 

potential to convert two greenhouse gases (carbon dioxide and methane) into a useful 

intermediate such as synthesis gas (syngas) makes dry reforming (DR) an attractive 

option for the chemical fixation of CO2.  
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The DR can be used to sequester a considerable amount of CO2 for the production of 

fuels and value-added chemicals starting from synthesis gas (H2 and CO mixture) as the 

building block. Nevertheless, syngas produced from DR, suffers from low H2: CO ratio 

that does not meet that required for conversion into high value hydrocarbons. DR 

catalysts continuously deactivate as a result of the extensive coke formation. This study 

investigates the potential for integrating dry reforming with other reforming technology 

and configurations for CO2 fixation, and the production of higher quality syngas.  

 

V.2 Literature review 

For CO2 emissions from existing large stationary sources, CO2 capture and storage 

(CCS) has received substantial attention164, 165. Following capture and storage, the focus 

shifts to identifying opportunities to physically sequestrate or chemically convert CO2. 

Physical sequestration includes the physical re-use of CO2 (e.g. enhanced oil recovery, 

geothermal fluid, beverages). Chemical conversion (fixation) is chemical conversion of 

CO2 into to value-added products (e.g. methanol, acetic acid, propylene) 166, 167.   

 

The potential to convert two greenhouse gases (carbon dioxide and methane) into a 

useful intermediate such as synthesis gas (syngas) makes DR an attractive option for the 

chemical fixation of CO2
168. This syngas can be used to produce a variety of products 

including: chemicals, synthetic liquid fuels, and polymers169.  Dry reforming faces a 

variety of processing and technical issues which have hindered its commercial 

application149. From an economic perspective, DR needs a concentrated source of CO2 

to supply the necessary quantities to justify the reforming system capital investment. 

The catalyst deactivation due to solid carbon deposition is also a major issue which has 

garnered attention170.  

 

Typical syngas conversion technology requires a high H2: CO ratio such as: methanol 

(2:1)134, Fischer-Tropsch Synthesis (1.7:1 or 2.2:1)42. Mixed alcohols synthesis is one of 

the few viable options for syngas with a H2: CO ratio close to 1:140. Otherwise, DR 
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syngas would require substantial ratio adjustment to meet specifications for other 

conversion technology. This ratio adjustment can be conducted by combining DR with 

other reforming technology that produce a syngas with a higher H2: CO ratio. Water-

gas-shift (WGS) reactors can also be used to adjust the syngas ratio. To date, the 

implication of these H2: CO ratio requirements on CO2 generation and potential fixation 

have not been quantified. In this chapter, the emphasis is on the chemical fixation of 

CO2 and thus the focus is on the use of DR to utilize CO2.  

 

V.3 Approach 

First, the amount of CO2 that can be strictly sequestered in the DR is investigated.  This 

includes quantifying the impact of reformer operating temperature, pressure and feed 

ratios. This is followed by quantification of the energy related to CO2 sequestration and 

associated CO2 emissions.  Once, the potential of DR is investigated, attention focuses 

on the potential benefit of combining various reforming technologies and configuration. 

Given that the reformer section is the most expensive and major user of energy, 

particular focus is directed at modeling reformers.  

 

In most syngas processing routes, the reforming section requires the most heating and 

cooling due to the high operating temperatures (800 – 1400 ˚C)138. Reformer selection is 

a complex decision and highly dependent on the downstream application and the 

technology provider. In fact, this selection can be different for the same downstream 

application. This is underlined by the use of POX and ATR in the Shell Pearl Project 

and Sasol/Chevron Oryx GTL projects respectively. Methanol synthesis is also 

conducted using different reforming approaches (partial oxidation or steam reforming). 

 

Equilibrium modeling is not only useful in modeling specific scenarios but also to 

establish the impact of certain variables on the reforming system. In this paper the total 

Gibbs free energy minimization method is used to model the reforming section. 

Lagrange’s undetermined multipliers method is used to find a set of ni which minimizes 
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the total Gibbs free energy of the system for a specified temperature and pressure. This 

can be expressed as149: 

                                          (100) 

 

where ∆𝐺𝑓𝑖
0  is the standard Gibbs of formation for species i, , R is the molar gas 

constant, T the temperature (K), 𝑦i is the mole fraction, ɸ̂i is the fugacity coefficient of 

species i, P is the pressure and λk the Lagrange multiplier for element k. This is subject 

to the mass balance constraints described by equation 101, where aik is the number of 

atoms of the kth element and Ak  is the total mass of the kth element. 

                                                                                                  (101)                                                                 

 

Noureldin et al., details the use of thermodynamic equilibrium modeling to identify the 

optimal reforming configurations to maximize syngas yield and achieve specific 

economic objectives. The model is capable of calculating the reformer output 

composition and corresponding reformer energy balance. The following species were 

chosen to represent the reforming system: CH4 (g), CO2 (g), CO (g), H2O (g), H2 (g). Coking 

is modeled as graphite C(s) and a multiphase formulation is used, where nc is the number 

of moles of carbon and ∆𝐺𝑓𝐶(𝑆)
0  is the standard Gibbs of formation of graphite (eq. 102). 

               (102) 

 

The model was implemented in optimization software (LINGO ®) and in MATLAB ® 

to generate plots highlighting thermodynamic trends. The model was used to investigate 

defined scenarios (set inputs) and to find optimal solutions for defined objectives. In the 
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formulation the oxidant chosen (CO2, H2O, O2), and reformer output temperature were 

allowed to vary. The inputs were defined as follows:    

ninCH4 = 1 mol,          (103) 

ninCO2 = x · ninCH4,          (104) 

ninH2O = y · ninCH4,          (105) 

ninO2   =  z · ninCH4,           (106) 

where x,y,z are the number of moles of CO2, H2O, and O2 fed per mol of CH4 

respectively. 

 

The reformer input temperature was assumed to be 300 K. In addition, the oxidant to 

methane ratio was bound to ensure a minimum methane input of 20 mol%.   

These variables are allowed to vary as follows: 

500 ≤ Tout (K) ≤  1500,         (107) 

0 ≤ x≤  4,            (108) 

0 ≤ y ≤  4,            (109) 

0 ≤ z ≤  2,           (110) 

x+ y + z ≤  4,            (111) 

 

The conversion of natural gas to hydrogen and carbon monoxide is suppressed as the 

pressure increase.  In practice, reformers are typically operated at pressures ranging 

from 2.0 to 4.0 MPa150. To simplify the model and reduce the problem size the pressure 

was assumed to be 1 bar in the optimization formulation for a single reformer. The CO2 

produced by the reforming includes the reformer CO2 output and the CO2 output as part 

of the external heat generation through the burning of natural gas. According to the U.S. 

Energy Information Administration (EIA), approximately 117 lbs of CO2 are emitted 

per million BTU of energy from natural gas. This is equivalent to approximately 1.14 

mol per MJ of energy. This is used to calculate the CO2 for external heating. The 

sequestration of CO2 in the reformer is defined as: 

𝑀
𝐶𝑂2

𝑅𝑆
=  𝑀

𝐶𝑂2

𝑅𝐼
−  𝑀

𝐶𝑂2

𝑅𝑂
−  𝑀

𝐶𝑂2

𝐸         (112) 
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where, 

 𝑀
𝐶𝑂2

𝑅𝑆  is the number of moles of CO2 fixated by the reforming, 

 𝑀
𝐶𝑂2

𝑅𝐼  is the number of moles of CO2 fed to the reformer, 

 𝑀
𝐶𝑂2

𝑅𝑂
 is the number of moles of CO2 generated in the reformer,  

 𝑀
𝐶𝑂2

𝐸
 is the number of moles of CO2 produced during external heat generation by 

combusting methane 

𝑀
𝐶𝑂2

𝑅𝑆  , 𝑀
𝐶𝑂2

𝑅𝐼  , 𝑀
𝐶𝑂2

𝑅𝑂 , 𝑎𝑛𝑑 𝑀
𝐶𝑂2

𝐸  are in relation to one mole of methane fed to the 

reformer. The model was solved using the LINGO® global solver. The solution times 

ranged from 10 to 120 seconds using an Intel ® i5-2500 CPU @ 3.30 GHz. 

 

V.4 Results 

The first step is to quantify the amount of CO2 that can be sequestered using DR. The 

DR reaction is an endothermic reaction and requires a considerable amount of heat 

input. According to reaction 113, one mole of carbon dioxide can be sequestered per 

mole of methane.   

𝐶𝐻4 + 𝐶𝑂2  → 2𝐶𝑂 + 2𝐻2           ∆𝐻298 = 247 kJ/mol              (113) 

𝐶𝐻4 + 2𝑂2  → 𝐶𝑂2 + 2𝐻2𝑂           ∆𝐻298 = −891 kJ/mol        (114) 

 

Consideration must also be given to the heat requirement, associated fuel (e.g. methane) 

and heating-associated CO2 generation. Assuming the use of methane as the energy 

source, approximately 0.28 mole of CO2 is generated during heat generation for the 

conversion of one mole of CO2 into syngas. This requires an equivalent amount of 

methane (0.28 moles). Thus from a combined mass and energy perspective, 0.72 moles 

of CO2 can be sequestered per 1.28 moles of methane using DR, to produce a syngas 

with a H2: CO ratio of 1:1. This is equivalent to 0.56 moles of CO2 per mole of methane.  
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V.4.1 Dry reforming targets 

In a reforming system assumed to operate at a CH4: CO2 molar ratio feed ratio equal to 

1:1, T = 1,200 K and P = 2 MPa (typical of SMR operating conditions), the amount of 

CO2 that can be sequester is approximately 0.38 moles per mole of methane. This 

includes the methane required for energy generation and produces a syngas with a H2: 

CO ratio slightly higher than stoichiometric ratio (1.08:1.0). Higher reformer operating 

pressures have a strong effect on the major reformer design variables. Higher pressure 

depresses methane conversion leading to lower H2 and CO yield while also increasing 

coke formation (Table 39).  

 

  

Table 39: Impact of pressure of dry reforming (T = 1,200 K, CH4 = 100 kmol/hr, CO2 = 100 kmol/hr) 
Pressure (bar) 1 5 10 15 20 25 

CH4 conversion (%) 98.7 94.3 90.1 86.9 84.3 82.2 

Energy Input (MJ/hr) 34,912 32,244 29,862 28,105 26,740 25,639 

Energy Associated CO2 (kmol/hr)  40 37 34 32 30 29 

Equivalent Temperature (K)* 1,200 1,440 1,570 1,653 1,717 1,769 

Energy Associated CH4(kmol/hr)  40 37 34 32 30 29 

H2:CO Ratio 1 1.03 1.05 1.07 1.08 1.09 

Reformer Output Mole Flow (kmol/hr) 

        CH4 1.3 5.7 9.9 13.1 15.7 17.8 

  CO2 2.0 8.5 14.0 18.0 21.0 23.3 

  H2O 2.8 11.9 20.2 26.3 31.1 35.0 

  CO 193.1 171.1 151.8 137.8 127.0 118.3 

  H2 194.5 176.6 160.0 147.5 137.6 129.4 

  C(s) 3.5 14.7 24.3 31.2 36.4 40.5 

CO2 Fixated (mol/mol CH4) 0.58 0.55 0.52 0.50 0.49 0.48 

CO2 Fixated incl. CH4 for energy 

generation (mol/mol CH4) 
0.41 0.40 0.39 0.38 0.38 0.37 

*- Required temperature to achieve CH4 conversion at T = 1,200 K and P = 1 bar  
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To achieve the same CH4 conversion a significant temperature increase is required to 

offset the impact of higher pressures. From a CO2 sequestration perspective, lower 

pressure results in higher CO2 sequestration; however, the major benefit of higher 

pressure is significant reduction in reactor size and the need for compression prior to 

downstream processing. An increase in reformer operating pressure from 1 to 25 bars 

reduces the achievable CO2 sequestration from 0.41 to 0.37 per mol of methane. This 

slight reduction in CO2 sequestration indicates that pressure would be set by other 

considerations as it has a small impact on the CO2 sequestration.  

 

Figure 25 presents the impact of carbon dioxide to methane ratio on CO2 sequestration, 

syngas H2: CO ratio and coke formation for a specific pressure (P = 1 bar).  As the CO2 

to CH4 ratio increases from 1:1 to 4:1, the amount of CO2 sequestered increases to more 

than 1.25 moles per mole of methane. However, the increase in carbon dioxide to 

methane ratio is also associated with a decrease in syngas H2: CO ratio and such a 

syngas is considered of low value and limited application. Figure 1 also shows that 

higher CO2:CH4 ratios reduce the amount of coke formation this could be attributed to 

the possibility that CO2 is serving as oxidant when present in excess. 

 

For a CO2:CH4 ratio of 1:1, the CO2 associated with energy generation constitutes the 

bulk of the CO2 produced. This shows that with the presence of waste heat sources 

and/or appropriate heat integration the majority of the CO2 associated with energy 

generation can be reduced or avoided. As the CO2 to CH4 feed ratio increases, CO2 

generation in the reformer begins to make up a bigger fraction of the total CO2 

produced. There is an intrinsic inverse relationship between CO2 sequester and the 

achieved syngas H2: CO ratio. These targets associated with DR suggest that maximum 

CO2 sequestration is favored by lower operating pressure, higher CO2:CH4 feed ratio 

and lower syngas H2: CO ratios. 
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Figure 25: Effect of CO2:CH4 ratio on specific reformer outputs (P = 1 bar) 
 

 

However, process economics favor higher operating pressure, lower CO2: CH4 feed 

ratios and higher H2: CO ratios are favored. Thus a trade-off exists between the ability 

of to sequester CO2 using reforming and the quality/value of the syngas produced.  

These finds suggest that the commercial viability of DR will require combining with 

other reforming technology and configurations to mitigate coke formation and produce a 

syngas of sufficient quality for utilization. 

 

V.4.2 Combined reforming targets 

The following sections discuss different configurations and reforming strategies. Steam 

reforming (SR) is the predominant syngas generation technology for hydrogen 

production. Partial oxidation (POX) is typically used for syngas applications requiring a 

H2: CO ratio close to 2:1 while autothermal reforming (ATR) is used to combine SR and 

POX. Reformer combinations benefit by increasing the advantage and reducing the 
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drawback associated with each technology. Table 40 presents typical operating 

conditions and outputs for the various reforming options in comparison to DR.  

 

 

Table 40: Comparison of typical operating conditions for reforming technology150 
Operating Conditions SR POX ATR DR 

Temperature (˚C) 850 1350 1050 950 

Pressure (bar) 20 25 25 20 

Molar Input Ratios         

CH4 1 1 1 1 

H2O 3 0 0.6 0 

O2 0 0.7 0.6 0 

CO2 0 0 0 1 

 

 

Partial oxidation and ATR typically operate lower oxidation ratios compared to steam 

reforming which results in lower rates of CO2 generation (Table 41). Partial oxidation 

and autothermal reforming also give much higher single-pass methane conversion.  

 

 

Table 41: Comparison of typical outputs for various reforming options 
Outputs (kmol/hr)* SR POX ATR DR 

CH4 16 0 2 14 

CO2 31 6 16 18 

H2O 184 34 66 27 

H2 284 166 189 145 

CO 53 94 82 138 

C(s) 0 0 0 31 
*100 kmol/hr methane feed basis 
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The high steam to methane ratio used in steam reforming also results in a large quantity 

of water in the reformer output. This unreacted water also results in a higher heat input 

requirement. However, the hydrogen yield of steam reforming is much greater 

compared to the other technologies making it advantageous for hydrogen production 149. 

Partial oxidation is exothermic while ATR can be operated either slightly endothermic 

or adiabatic depending on the chosen O2:H2O ratio. Steam reforming requires the 

highest heating requirement which increases the generation of energy-associated CO2 

(Table 42).  

 

 

Table 42: Comparison of key outcomes for various reforming options 
Key Findings SR POX ATR DR 

H2:CO ratio 5.4 1.8 2.3 1.1 

Syngas Yield (mol/mol methane) 3.4 2.6 2.7 2.8 

Syngas Yield (g/g methane) 1.3 1.9 1.7 2.6 

Energy Input (MJ/hr) 45,766 -530 5,164 28,296 

Energy Associated CO2 (kmol/hr) 52 0 6 32 

Total Generated CO2 (kmol/hr) 83 6 22 50 

Fixated CO2 (mol/ mol methane) - - - 0.50 

Fixated CO2 incl. methane for heat generation  

(mol/ mol methane)    0.38 
*100 kmol/hr methane feed basis 

 

 

The endothermic nature of DR also results in a significant generation of energy-

associated CO2. It is also important to note that the syngas mass yield per mole of 

methane is higher for lower H2: CO ratios.  Of these reforming options, partial oxidation 

has the lowest total generation of CO2. Based on the outcome of each reformer 

technology, there may be merits in combining the individual reformers with a dry 

reformer. 
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V.4.2.1 Combined dry reforming and steam reforming 

Dry reforming produces a large amount of coke (Table 43) which means that its 

commercial success will require the inclusion of an additional oxidant. Combined steam 

and dry reforming (CSDR) provides an opportunity to mitigate coke formation and 

increase the H2: CO ratio. An analysis was conducted to determine the minimum 

amount of steam necessary to avoid coking while using the operating conditions 

previously described for DR.  

 

 

Table 43: Impact of combining DR + SR for coking mitigation 
Operating Conditions DR DR + SR 

Temperature (˚C) 950 950 

Pressure (bar) 20 20 

Molar Input Ratios     

CH4 1 1 

H2O 0 0.4 

O2 0 0 

CO2 1 1 

Outputs (kmol/hr)*     

CH4 14 16 

CO2 18 22 

H2O 27 34 

H2 145 174 

CO 138 162 

C(s) 31 0 

H2:CO ratio 1.05 1.07 

Energy Input (MJ/hr) 28,296 34,752 

Energy Associated CO2 (kmol/hr) 32 40 

Total Generated CO2 (kmol/hr) 50 62 

Energy Associated CH4 (kmol/hr) 32 40 

Sequester CO2 (mol/ mol methane) 0.5 0.38 

Sequester CO2 incl. energy associated CH4 (mol/ mol methane) 0.38 0.27 
*100 kmol/hr methane feed basis 
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Table 43 shows that a CO2:H2O input ratio of 1:0.4 is sufficient to thermodynamically 

hinder coke formation.  This steam addition only results in a slight H2: CO ratio increase 

but also results in a higher syngas yield. While the additional steam mitigates coke 

formation, it also leads to an increase in CO2 production, reducing the amount of CO2 

that could be sequestration from 0.38 to 0.27 (mol/mol of methane). 

 

V.4.2.2 Combined dry reforming and partial oxidation (CDPOX) 

Attention has also focused on the combination with partial oxidation in a single reactor. 

In such a configuration the oxygen in the reformer reacts with methane (reaction 115) to 

produce a syngas with a H2: CO ratio close to 2:1 while providing heat for the 

endothermic dry reforming to occur. 

𝐶𝐻4 +
1

2
𝑂2  → 𝐶𝑂 + 2𝐻2       ∆𝐻298 = −36 kJ/mol    (115) 

 

In addition, methane combustion also takes place in the combined reformer. It is 

important to determine which configuration is more appropriate for various objectives. 

Table 44 presents a comparison between a CDPOX reformer and DR/combustor 

configuration to generate the required heat. The methane and oxygen necessary to 

generate the heat for DR is in turn used as the basis for the POX portion. The analysis 

shows that combining DR and POX produces more CO2 than simply carrying out DR 

and using a combustor to produce the required energy.  

 

Carbon dioxide is not only produced in the reformer during the combustion of methane, 

but also through the reduced utilization of CO2 in the reformer feed. This leads to a 

higher apparent CO2 output. The presence of oxygen in the reformer also increases the 

H2: CO ratio. If the syngas produced by DR is fed to a WGS reactor to achieve the ratio 

produced by the combined DR & POX, the subsequent adjustment would produce an 

additional 0.5 mol of CO2. This additional CO2 when combined with the amount 

produced by DR (0.96 mol of CO2) is approximately the same as that produced by 
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simply combining DR& POX in a single reformer and avoiding the need for a WGS 

reactor.  

 

 

Table 44: Comparison of combined CDPOX and DR /combustor (P = 1 bar) 
 DR /Combustor CDPOX 

Reformer Input (mol)   

CH4 input 1 1.51 

CO2 input 2 2 

O2 input - 1.03 

Temperature (K) 1,400 1,020 

Reformer Output (mol)   

CH4 Conversion (%) 100 100 

H2 1.45 1.93 

CO 2.55 2.03 

CO2 0.45 1.47 

Energy Input (kJ) 457 - 

Combustor Input/Output (mol)   

CH4 Combustion 0.51 - 

O2 Combustion 1.03 - 

CO2 combustion 0.51 - 

Total CO2 generation (mol CO2) 0.96 1.47 

Sequester CO2 incl. energy associated CH4 (mol/ mol methane) 0.69 0.35 

 

 

The amount of oxygen required for complete methane combustion (2 mol/mol of 

methane) is much higher than that required for partial oxidation (0.5 mol/mol of 

methane). By directly inputting the additional oxygen directly into the reformer 

increases CO2 production, while leading to competition with the dry reforming reaction. 

This assessment indicates that the major consideration in relationship with the amount 

of CO2 sequestration is the required H2: CO ratio of the syngas produced and not in 

particular the number of steps involved in achieving the ratio. It also shows that there is 
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no clear connection with the configuration as it is strongly related to the H2: CO ratio of 

the produced syngas.  

 

V.4.3 Combined parallel reforming  

From a broader perspective, the objective is to identify the configurations best suited to 

maximize CO2 sequestration while also achieving a minimum H2: CO ratio of 1:1 to 

produce a syngas of use in downstream processing options. Given the trade-off that 

exists, it is important to quantify the amount of CO2 that can be sequestered while 

producing a syngas with a specific H2: CO ratio.   Combined reforming can be carried 

out in parallel where individual reformers are integrated or combined in a single 

reformer (Figure 26).  

 

 

 
Figure 26:      A. Combined Parallel Reforming          B. Single Combined Reformer 
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In order to identify the merits of combining reformers in parallel, a simple linear model 

was used to choose the optimal combination of individual reformers to maximize CO2 

sequestration while achieving particular H2: CO ratios. The reformer inputs and outputs 

were fixed based on the values given in Table (40-43) including amount of energy 

associated CO2. The results show that the optimal combination of reformers to 

maximize CO2 fixation while achieving a specific H2: CO ratio is CSDR and SR (Table 

43). As discussed earlier, as the required H2: CO ratio increases the amount of CO2 

sequestration decreases.  

 

As the required H2: CO ratio increases from 1.4 to 1.7 the amount of methane fed to SR 

increases from 15% to 25% while decreasing for CSDR from 60% to 45%. With respect 

to the CO2 balance, greater production of CO2 and a decrease in the amount of CO2 

fixated is a by-product of higher H2: CO ratio requirement. It is important to note that 

for the different H2: CO ratios required, the molar yield of syngas (H2&CO) produced is 

constant.  Approximately 25 mol % of the feed methane is utilized in heat generation. 

This analysis is an indication that effective CO2 sequestration using DR will mean the 

production of syngas with a relatively low H2: CO ratios.  
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Table 45: Optimal combined reforming configurations to achieve a particular H2: CO 

ratio (Basis: 1,000 mol CH4) 
H2:CO 1.4 1.5 1.6 1.7 

Methane Feed Distribution (mol)     

CSDR 587 546 508 473 

POX 0 0 0 0 

SR 148 184 217 247 

ATR 0 0 0 0 

Heat Generation  265 271 275 279 

Combined Reforming Output (mol)     

CH4 118 117 116 115 

H2 1,442 1,472 1,500 1,525 

CO 1,030 981 937 897 

CO2 175 177 179 181 

H2O 472 524 572 616 

Energy Related CO2 Generation     

CO2 Generation (mol)  265 271 275 279 

Total CO2 Generation (% of total) 60 60 61 61 

CO2 Generation (mol)     

CSDR 317 295 274 255 

SR 123 153 180 205 

Overall CO2 Balance (mol)     

Total CO2 Generation 440 448 454 460 

Total CO2 Fixation 587 546 508 473 

Overall CO2 Sequestration 147 98 53 12 

CO2 Sequestration (mol/mol of 

methane) 0.15 0.10 0.05 0.01 

  

 

V.4.4 Combined reforming (Single reactor) 

In a single reformer, the combined effect of the oxidants can lead to synergistic 

opportunities while allowing for improved heat transfer since the reactions are 

combined in a single reformer. The use of a single reformer also benefits from 
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economies of scale compared to using separate smaller reformers. However, the use of a 

single reformer removes the ability to operate at multiple operating conditions. Table 46 

presents the reformer to maximize CO2 sequestration while achieving a particular H2: 

CO ratio. The optimal inputs for all the scenarios are the addition of carbon dioxide and 

steam as oxidants (combined dry and steam reforming) and a 1:1 oxidant (xyz) to 

methane ratio. This indicates that the use of excess oxidants only leads to higher CO2 

production in the reformer and during heat generation.  

 

 

Table 46: Optimal combined reformer for maximum CO2 sequestration while achieving 

a particular H2: CO ratio (Basis: 1 mol CH4) 

H2:CO 1.0 1.2 1.4 1.6 1.8 

Temperature (K) 1,176 1,165 1,148 1,127 1,102 

Oxidant Input (mol)      

CO2 1.01 0.82 0.67 0.55 0.45 

H2O 0.02 0.20 0.36 0.49 0.60 

O2 0 0 0 0 0 

Reformer Output (mol)      

NCH4 0.02 0.02 0.03 0.04 0.06 

NH2 1.95 2.12 2.25 2.35 2.42 

NCO 1.95 1.76 1.60 1.47 1.34 

NCO2 0.03 0.03 0.03 0.03 0.04 

NH2O 0.03 0.04 0.04 0.06 0.07 

Energy Related CO2 Generation      

Heat Input (kJ) 350 347 344 339 334 

CH4 for Heat Generation (mol) 0.39 0.39 0.39 0.38 0.37 

CO2 Generation (mol) 0.39 0.39 0.39 0.38 0.37 

CO2 Generation (% of total) 94% 94% 94% 92% 90% 

Overall CO2 Sequestration* 0.42 0.29 0.18 0.10 0.03 

*-incl. methane for heat generation 
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Higher temperatures lead to a reduction in CO2 production in the reformer. Under these 

conditions, CO2 generation is exclusively due to that associated with heat generation. If 

this amount is considered then CO2 sequestration would not be achievable at higher H2: 

CO ratios. These findings indicate that, from the perspective of CO2 sequestration, 

combined dry and steam reforming is favored over the use of tri-reforming which 

combines partial oxidation with dry and steam reforming together in one reactor. 

Comparing parallel reforming and a single combined reformer, the results show that the 

combined reformer consistently results in higher CO2 sequestration. To achieve the 

same H2: CO syngas ratio (1.6:1); the combined reformer results in a slightly higher 

CO2 sequestration (0.10 mol/mol of methane) compared to combining parallel reformers 

(0.05 mol/mol of methane).  

 

V.4.5 Combined reforming including heat recovery 

The syngas leaving the reformer represents a hot stream that serves as an excellent 

candidate for heat recovery. The heat recovered from these streams replaces heat which 

would be supplied by the burning of fossil fuels and as such represents a potential CO2 

credit.   For the analysis, the recoverable heat is the heat released when the stream is 

cooled to 100 °C.  

Heat recoverable (Qrecoverable) given by: 

 373cov )( HTHnQ erablere           (116) 

 

where, n is the number of moles, H (T) is the enthalpy at temperature (T), yi is the molar 

composition of species i , and H373 is the enthalpy at 100 °C. (T = Kelvin) 

i

N

i
i HyTH 




1

)(           (117) 

DCTBTATH i  23     [kJ/mole]       (118) 

 

With the recoverable heat calculated, we use the heat of combustion of methane (890 

kJ/mole) to determine the CO2 credit for the heat recovered.  
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Table 47: Coefficients for the various syngas components 
H – H298 [kJ/mol] 

Component A B C D 

CH4 - 2.4140E-05 0.0239 -9.524 

H2O - 6.1100E-06 0.0292 -9.214 

CO - 2.9400E-06 0.0271 -8.345 

CO2 - 8.1800E-06 0.0371 -12.021 

H2 - 1.3300E-06 0.0277 -8.350 

O2 -1.498E-09 7.0669E-06 0.0252 -8.113 

 

 

Table 48 presents the optimal reformer configurations while consideration the CO2 

credit due to heat recovery. The optimal combinations of reformers are the same as 

presented in Table 45. As the H2: CO ratio increases the amount of heating-associated 

CO2 increases. This leads to greater heat recovery and resulting CO2 credit. The heat 

recovery CO2 credit increases the amount potential for CO2 sequestration from 0.15 to 

0.27 moles/mol of methane. The credit leads to the production of syngas with slightly 

higher H2: CO ratios while sequestering CO2.  

 

Nonetheless, the amount of CO2 sequestered while producing a syngas that meets most 

of the conversion technology requirements (H2: CO >1.6:1) is not sufficient to justify 

the processing effort. The amount of CO2 produced during CO2 capture, can represent 

25% of the amount of CO2 captured171. This further reduces the amount of CO2 

sequestration potential.   The combining DR and SR to produce a syngas with a H2: CO 

close to 2:1 would only result in minimal CO2 sequestration making it difficult to utilize 

with conversion technology requiring such ratios. External heating is the major 

consistent of CO2 generation in reforming configurations.  
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Table 48: Optimal configuration to maximize CO2 sequestration while including heat 

recovery (parallel reforming) 
H2:CO 1.4 1.6 1.8 2.0 2.15 

Methane Feed Distribution (mol)      

CSDR 587 508 441 384 347 

POX 0 0 0 0 0 

SR 148 217 275 324 356 

ATR 0 0 0 0 0 

Heat Generation  265 275 284 292 297 

Oxidant Input (mol)      

CO2 587 508 441 384 347 

H2O 383 420 451 478 495 

Combined Reforming Output (mol)      

CH4 118 116 115 113 113 

H2 1442 1500 1548 1589 1616 

CO 1030 937 860 795 752 

CO2 175 179 182 185 187 

H2O 472 572 656 727 773 

CO2 Generation (mol)      

CSDR 317 274 238 208 188 

SR 123 180 228 269 296 

Energy Related CO2 Generation      

CO2 Generation (mol) 265 275 284 292 297 

Total CO2 Generation (% of total) 60 61 61 61 61 

Heat Recovery CO2 Credit (mol)      

CSDR 82 71 62 54 49 

SR 37 54 69 81 89 

Overall CO2 Balance (mol)      

Total CO2 Generation 440 454 466 477 484 

Total CO2 Fixation 587 508 441 384 347 

Total CO2 Credit 119 125 131 135 138 

Overall CO2 Sequestration 266 179 106 42 1 
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Given the CO2 emissions associated with the rest of the CO2 capture and utilization 

supply chain (capture, transportation, syngas conversion) a process based on DR would 

need additional improvements.   The use of DR to sequester CO2 would greatly benefit 

by the presence of waste heat sources since heat generation is the major source of CO2 

generation. The removal of CO may also provide an opportunity to produce higher H2: 

CO ratio syngas while the CO can be utilized in technology required pure CO (e.g. 

acetic acid). Finally, the combination with biomass-based conversion technology can 

take advantage of the CO2 credit related to biomass growth.  

 

V.5 Conclusions 

This chapter quantifies the potential CO2 sequestration using dry reforming and 

combined reforming. The purpose of this work is to investigate options for future 

innovate design of reformer units to fixate CO2 into valuable products. Higher reformer 

operating temperature and lower operating pressure result in higher CO2 sequestration. 

As the carbon dioxide to methane ratio in DR increases from 1:1 to 4:1, the amount of 

CO2 sequestered increases to more than 1.25 moles per mole of methane. However, the 

increase in carbon dioxide to methane ratio is also associated with a decrease in syngas 

H2: CO ratio and such a syngas is considered of low value and limited application. 

There is an intrinsic inverse relationship between CO2 sequestration and the achieved 

syngas H2: CO ratio. A trade-off exists between the ability to sequester CO2 using 

reforming and the quality/value of the syngas produced.   

 

For all the scenarios investigated, the results show that the optimal combination of 

reformers to maximize CO2 sequestration while achieving a specific H2: CO ratio is DR 

and SR. Comparing parallel reforming and a single combined reformer, the results show 

that the combined reformer consistently results in higher CO2 sequestration. To achieve 

the same H2: CO syngas ratio (1.6:1); the combined reformer results in a slightly higher 

CO2 sequestration (0.10 mol/mol of methane) compared to combining parallel reformers 

(0.05 mol/mol of methane). Nonetheless, the use of DR to sequester CO2 faces many 
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challenges and in particular would greatly benefit by the presence of waste heat sources 

since heat generation is the major source of CO2 generation. 
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CHAPTER VI 

CONCLUSIONS 

 

In this research a systematic approach for the design of integrated energy and chemical 

production has been presented. This approach ranged from investigation of individual 

units operations (chapter II), to the process-level (chapter III), and intra-process (chapter 

IV). In chapter II, the synthetic fuel yield for the BTL base case was determined to be 

approximately 0.16 kg of synfuel and 0.6 kg of CO2 generation for each kg of biomass 

fed to the gasifier. Low feedstock utilization, high CO2 production, and wastewater 

generation hinder economic viability of current BTL processes. This means that the 

commercial success of BTL processes will be limited to specific cases. This includes 

presence of government incentives or the lack of alternative feedstock. It is more likely 

the biomass can be used to displace the use of petroleum for chemical production. The 

higher product margin means that biomass conversion can be economically viable.  

 

Chapter III introduced an optimization-based model as a basis for the analysis and 

selection of reforming approaches. The inclusion of strict energy and environmental 

constraints favors some reforming options over others. Combined reforming (including 

tri-reforming) reduces the drawbacks and enhances the benefit of each reformer. This 

includes reduced energy usage, improved catalyst life, safety and process flexibility. 

Establishing thermodynamic trends and the impact of certain variables can be an 

important part of a broader optimization based process synthesis approach.  

 

Given the relative chemical stability of methane, syngas generation will remain a major 

route for methane monetization and as such natural gas monetization.  A vast number of 

major products use syngas as an intermediate. This includes ammonia, methanol, F-T 

liquids, acetic acid, and refineries. These processes also produce by-product and waste 

streams that contain a significant amount of carbon monoxide, hydrogen, carbon dioxide 



 

141 

 

and water/steam. This provides an opportunity to integrate multiple plants to utilize 

these streams reducing feedstock requirement and waste generation.  

 

The new problem of synthesizing a CHOSYN was introduced in chapter IV. Focus was 

given to integrating multiple facilities through a common interception system while 

tracking individual carbon, hydrogen, and oxygen atoms and using atomic-based 

targeting to synthesize a macroscopic system. A systematic approach for the design and 

integration of CHOSYNs was presented. The unique feature of the C-H-O basis is the 

ability to identify the potential synergy among all the various species involved in the 

system. Whether the raw materials (e.g., shale gas, biomass, coal), intermediates (e.g., 

H2, CO, CO2, MeOH, C2H6), or products (e.g., chemicals, petrochemicals, fuels), they 

all share fundamental atomic relationships. The key becomes how to manipulate the 

available species to produce the system which maximizes economic benefit, raw 

material utilization, capital utilization, and minimizes waste generation.  A case study 

was solved and analyzed for various objectives. The resulting savings and the attractive 

payback periods indicate that the implementation of CHOSYNs may yield significant 

economic benefit. This includes the reduction in external sources, reduction in waste 

disposal, and the upgrading of by-product streams to higher value products. 

 

In chapter V the potential for CO2 fixation using dry reforming and combined reforming 

was presented. An intrinsic inverse relationship between CO2 sequestration and the 

achieved syngas H2: CO ratio was presented. For all the scenarios investigated, the 

results show that the optimal combination of reformers to maximize CO2 sequestration 

while achieving a specific H2: CO ratio is DR and SR. Nonetheless, the use of DR to 

sequester CO2 faces many challenges and in particular would greatly benefit by the 

presence of waste heat sources since heat generation is the major source of CO2 

generation. 
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This work has presented a variety of new topics and approaches that generate a lot of 

opportunities for further investigation. These are summarized below in: 

 

VI.1 Biomass utilization 

Some of the findings from chapter II suggest that biomass utilization faces some 

important challenges. These challenges are opportunities to investigate the following 

topics: 

 Biomass conversion to oxygenates to take advantage of oxygen content of 

biomass and avoid CO2/H2O generation 

 Combining biomass utilization with solar-driven water electrolysis to provide 

the hydrogen and oxygen required for biomass conversion 

 Production of oxygenated liquid transportation fuels from biomass including 

higher-chain alcohols 

 

VI.2 Syngas generation 

While syngas generation is widely used and established opportunities exist to produce 

reforming configurations that are best suited for particular objectives including: 

 The issue of reformer safety and the implication of reformer choice on the safety 

of the entire system given the selection impacts heating and cooling requirement, 

and power requirement 

 

VI.3 Integrated chemicals and energy production 

This topic represents the fundamental framework introduced in this work and as such 

there are numerous opportunities for further expansion including: 

 Inclusion of safety consideration in the integration of multiple processing 

facilities 

 The design of new (from scratch) integrated processing facilities and the choice 

of the optimal combinations of technologies 
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 Integration of synthetic fuel production (e.g. via F-T synthesis) with existing 

petroleum infrastructure 

 Consideration for combining the mass integration with heating, cooling, and 

power integration for the integrated processing sites. 

 

VI.4 CO2 fixation via dry reforming 

 Combining of natural gas dry reforming with biomass utilization to further 

increase the ability to fixate CO2 

 Investigating the inclusion of CO separation technology to increase the syngas 

quality 
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NOMENCLATURE 

 

Chapter IV: 

 

Symbols 

A    Atomic flowrate 

AOC  Annual operating cost 

b   Coefficient for fixed capital (Eq. 40) 

c   Index for components 

CMT   Operating cost associated with maintenance 

COL  Operating cost associated with labor 

CUT  Operating cost associated with utilities 

CRM  Operating cost associated with raw materials 

Capacity Capacity/throughput of a unit or a plant 

Cost   Cost of purchasing a source or treating/discharging a waste 

D   Design variables 

FCI  Fixed capital investment 

G   Source flowrate 

H   Sink flowrate  

i  Index for sources 

j  Index for sinks 

k  Index for interceptors 

M   Stoichiometric constraint (such as Eqs. 33a and 33b) 

Nc  Number of chemical components 

NExternal Sources  Number of external sources 

NInlet_Sink Number of inlets to a sink 

NInt  Number of interceptors 

NSinks  Number of sinks 

NSources   Number of sources 
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O  Operating variables 

P    Pressure 

r   Ratio of compositions entering the sink 

R  Universal gas constant 

S  State variables 

T   Temperature 

u  Index for inlets and outlets of sinks 

v  Index for sink inlet 

W   Flowrate for an interceptor 

x   Composition of source 

y   Composition of feed to interceptor 

z   Composition of feed to sink 

 

Subscripts 

c   Species 

C  Carbon 

e  Element  

f  Feed 

H  Hydrogen 

i   Sources 

j  Sinks 

k  Interceptor 

MT  Maintenance 

np  Non-particulate solids processing steps  

p  Process 

O  Oxygen 

OL  Operating labor 

RM  Raw materials 

v  Sink inlet and outlet ports 



 

146 

 

u  Interceptor inlet and outlet ports 

UT  utilities 

 

Superscript 

Available  Amount available from process or external sources 

In    Entering a sink 

Internal_Sources Internal Sources 

max    Maximum 

min    Minimum 

n    Scaling factor for fixed capital (Eq. 40) 

Sinks   Associated with a sink 

Sources  Associated with a source 

Used   Utilized through recycle 

Waste   Discharged waste 

 

Greek Letters 

α  Atomic coefficient for carbon 

β  Atomic coefficient for hydrogen 

γ  Atomic coefficient for oxygen 

λ  Lagrange multiplier 

Φk  Vector of unit performance functions for interceptor k 

Ξk   Vector of constraints for interceptor k 

Ψj   Vector of unit performance functions for sink j 
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