
A CFD study of biomass pyrolysis in a downer reactor equipped 

with a novel gas–solid separator: part II Thermochemical 

performance and products 

 

Xi Yu1, Mohamed Hassan1, Raffaella Ocone2, Yassir Makkawi1,* 

  

1 European Bioenergy Research Institute (EBRI), School of Engineering and Applied 

Science, Aston University, Birmingham B4 7ET, UK 

2 Chemical Engineering, Heriot-Watt University, Edinburgh EH14 4AS, UK 

 

Highlight  

 A CFD model is used to simulate biomass fast pyrolysis in a downer reactor.   

 An Eulerian-Eulerian approach with a single global pyrolysis reaction is used. 

 A novel gas-solid separator was used to control the gas residence time. 

 Predicted pyrolysis yield is in good agreement with reported literature data.     

 

Abstract 

A Eulerian–Eulerian CFD model was used to investigate the fast pyrolysis of biomass 

in a downer reactor equipped with a novel gas–solid separation mechanism. The 

highly endothermic pyrolysis reaction was assumed to be entirely driven by an inert 

solid heat carrier (sand). A one-step global pyrolysis reaction, along with the 

equations describing the biomass drying and heat transfer, was implemented in the 

hydrodynamic model presented in part I of this study (Fuel Processing Technology, 

V126, 366–382). The predictions of the gas–solid separation efficiency, temperature 

distribution, residence time and the pyrolysis product yield are presented and 

discussed. For the operating conditions considered, the devolatilisation efficiency 

was found to be above 60% and the yield composition in mass fraction was 56.85% 

bio-oil, 37.87% bio-char and 5.28% non-condensable gas (NCG). This has been 

found to agree reasonably well with recent relevant published experimental data. The 

novel gas–solid separation mechanism allowed achieving greater than 99.9% 

separation efficiency and < 2 s pyrolysis gas residence time. The model has been 

found to be robust and fast in terms of computational time, thus has the great 
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potential to aid in future design and optimisation of the biomass fast pyrolysis 

process.  
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1. Introduction 

Biomass pyrolysis has emerged as a very promising renewable energy technology 

for the production of bio-oil. This is a robust thermo-chemical process that takes 

place in a controlled environment (reactor) to convert low density organic materials 

into vapour, liquid and solid (bio-char) at a high temperature within the range of 

400 °C to 550 °C and in the absence of oxygen [1-3]. The vapour is quickly 

condensed in a quenching system to produce a liquid (bio-oil) and a permanent non-

condensable gas (NCG) phase, mainly consisting of CO, CO2 and small fractions of 

H2 and CH4  [4]. Previous studies have shown that the biomass pyrolysis process 

requires careful control of the reactor temperature and residence times in order to 

increase the bio-oil yield. The pyrolysis vapour needs to be removed quickly from the 

reactor hot zone to avoid secondary cracking reactions. It is also recommended to 

limit the time of contact between the pyrolysis vapour and the bio-char to minimize 

catalytic cracking [4]. The process is usually classified as fast pyrolysis If the heating 

rate is rapid (1000 °C/s -10,000 °C/s) [5] and the gas residence time is less than 2 s 

[2, 6]. Fast pyrolysis of biomass has the advantage of maximising the yield of bio-oil, 

typically produces 50 to 70% bio-oil, 0 to 30% bio-char, and 15 to 20% NCG [1].  

 

In the first part of this study, Yu et al [7] theoretically studied a downer reactor 

equipped with a novel solid gas separation mechanism. The study presented a valid 

computational fluid dynamic (CFD) model to predict the reactor multiphase flow 

features and provide the platform for further development to predict biomass 

pyrolysis behaviour and products. Compared to the other available biomass pyrolysis 

technologies, the proposed reactor, arranged in a dual fluidized bed system, was 

found to be a viable option to ensure narrow residence time distribution of the gas 

phases, as well as quick and efficient separation of the gas from the solid phase. In 

addition, such arrangement is believed to guarantee sustainable operation without 

the reliance on external heating through the combustion of the produced bio-char [8].  



       

CFD modelling of biomass fast pyrolysis is a challenging task due the complex 

simultaneous interactions between the various phases while the biomass particles 

undergo rapid thermo-chemical conversion to gases and solid residues (char). 

Nevertheless, CFD modelling for thermochemical conversion processes is fast 

developing nowadays due to the availability of high performance computers and the 

improved accuracy and reliability of the developed models. One of the pioneering 

works on modelling biomass pyrolysis was reported by Miller and Bellan [9], where 

mathematical solution of multi-step kinetics coupled with simple porous particle 

model proved to provide reliable predictions compared to thermogravometry 

experiments. 

 

For the simulation of biomass pyrolysis or gasification during free fall or suspension, 

such as in a downer or fluidized bed reactor, the overall process is commonly 

simulated by coupling the solution of the flow hydrodynamics with the thermo-

chemical changes associated with the biomass decomposition. A brief summary of 

the recent reported CFD studies of biomass pyrolysis is given in Table 1. These 

models are based on Eulerian-Lagrangian or Eulerian-Eulerian modelling 

approaches. The latter is considerably superior in terms of computational time, 

especially when handling real scale reactive system in three dimensional 

coordinates. As far as the authors’ knowledge, no modelling attempt has been 

reported in the literature for fast pyrolysis of biomass in a downer reactor, whilst there 

are few studies on bubbling and circulating fluidized bed reactors as discussed here. 

Papadikis et al [10, 14, 17] investigate the heat and mass transfer and the particle 

shrinkage impact during the pyrolysis process in a fluidized bed reactor using an 

Eulerian-Lagrangian approach. The details at the single particle level were revealed 

by tracing a single cellulosic particle in the fluidized bed. Xue et al [18, 20, 21] 

developed an Eulerian-Eulerian CFD model with multi-component, multi-stages 

kinetics model to simulate biomass fast pyrolysis in a lab-scale fluidized bed. The 

study proposed various model improvements by taking into account detailed 

pyrolysis kinetics with a multi-component, particle density variation, and particle size 

distribution. Boateng and Mtui [22] developed an Eulerian-Eulerian model for 

biomass fast pyrolysis in a bubbling fluidized bed using one-step global pyrolysis 

reaction. The composition of the biomass feed was treated as fixed in carbon, volatile 



matter, moisture content and ash content obtained from experimental proximate 

analysis. The study concluded that such a modelling approach is especially suitable 

for the design of fast pyrolysis reactors and their optimization to meet economic 

scales required for distributed or satellite units. Ashcraft et al [23] modelled a gas-

solid vortex reactor for assessing the potential of the centrifugal fluidization reactor 

technology and exploring its process intensification abilities using Eulerian-Eulerian 

approach with multi-component, multi-stages kinetics model. Xiong et al [24] 

investigated the effects of operating conditions on biomass fast pyrolysis in bubbling 

fluidized bed using Eulerian-Eulerian approach with Shafizadeh−Chin decomposition 

model [9], the prediction was found to be in good agreement with experimental data. 

Most recently, Mellin et al [26] developed and implemented a more detailed 

numerical reaction network for the simulation of biomass pyrolysis in a bubbling 

fluidized bed reactor. The model was solved using ANSYS-FLUENT CFD commercial 

code. The multiphase flow hydrodynamics and the complex scheme of reactions 

included decomposition of each biomass subcomponent in primary and secondary 

pyrolysis reactions. Due to the complexity and large number of the reactions 

considered, the reported computational time was considerable high. The predicted 

pyrolysis products were found to satisfactory match the experimental data, apart from 

the water content being under-predicted. 

 

In this second part of the study, the CFD hydrodynamic model developed in part I [7] 

has been extended to include equations describing the heat transfer and thermo-

chemical reactions taking place during fast pyrolysis of biomass. The main objectives 

of this paper are:  

I. To present a CFD model capable of predicting the product composition (gas, oil, 

char) during fast pyrolysis of biomass in a downer reactor, where the conversion 

reaction is entirely driven by a circulating inert solid particulate phase.  

II. To evaluate the separation of the pyrolysis product gas from the multi-solid flow 

mixture (heat carrier and bio-char) using a novel separator developed by 

researchers at the Institute for Chemicals and Fuels from Alternative Resources 

(ICFAR) in Canada [30].  

III. To study the residence time of the various phases and the evolution of heat 

transfer and temperature distribution inside the reactor.  

IV. To provide a robust tool for the development, optimization and scale up analysis 



of downer pyrolysis reactors in general and that is equipped with the proposed 

novel separator in particular. 

 

The CFD transient model was solved in three-dimensional coordinates using the 

latest ANSYS-FLUENT CFD code (Ver 15.0). The model formulation is presented 

with focus on the new equations added to the original hydrodynamic model 

developed in the first part of this study in order to take into consideration the 

thermos-chemical reaction associated with the biomass conversion. The pyrolysis 

reaction was implemented in the CFD model using an in-house developed user 

defined function (UDF) based on one-step global reaction scheme for biomass 

pyrolysis, as detailed in Section 3.3.2.  

 

 

2. Computational domain and operating conditions  

Fig. 1 shows the overall biomass pyrolysis concept, and the computational domain 

indicated by the dashed line around the pyrolysis reactor only. The flow in the 

pyrolysis reactor includes two different solid materials (inert heat carrier and 

biomass) and a gas phase (carrier nitrogen and product hydrocarbons). Details on 

the meshing method, number of cells and the dimensions of the computational 

domain can be found in part I of this study [7]. This is described briefly here as a 

column of 6.9 cm diameter and 133.5 cm height connected at the lower part to a solid 

receiving tank. The reactor is equipped with a novel gas-solid separation mechanism 

developed by researchers at the ICFAR in Canada [30]. This consisted of (i) a 

conical solid deflector of internal angles of 60 degree and a height of 5.5 cm located 

98.6 cm below the downer reactor top, and (ii) a gas discharge pipe located at the 

centre of the cone base. Further details of the deflector and its use in solid-gas 

separation in downer reactors can be found in [7, 30]. The Biomass feedstock 

considered in this study is switch grass of spherical shape of 200 µm diameter fed 

into the top of the reactor at the temperature of 298K and flow rate of 5 g/s. Carrier 

gas (nitrogen) is fed at a superficial velocity of 0.05 m/s and a temperature of 298K. 

The gas stream, along with any entrained particles, exits the system through the gas 

outlet pipe.  

 



The highly endothermic biomass pyrolysis process is assumed to be driven by hot 

circulating inert particulate phase (sand) entering the top of the reactor from a 

connected combustor at a high temperature of 700 °C. In order to estimate the sand 

flow rate that will satisfy the required thermal input, ܳ௜௡, for pyrolysis, a simple energy 

balance was used as follows [31]: 

ܳ௜௡ ൌ෍݉∆ܪ௙,ଶଽ଼,௙௘௘ௗ
° ൅෍݉∆ܪ௙௘௘ௗሺܶሻ െ෍݊∆ܪ௙,ଶଽ଼,௙௘௘ௗ

° െ෍݊∆ܪ௙௘௘ௗሺܶሻ												ሺ1ሻ 

where ∆ܪ௙,ଶଽ଼,௙௘௘ௗ
°  and ∆ܪ௙,ଶଽ଼,௣௥௢ௗ

°  are the heats of formation of feed and product 

materials at temperature 298K per kg material; ܪ௙௘௘ௗሺܶሻ  and ܪ௣௥௢ௗሺܶሻ  are the heat 

of formation at temperature T (pyrolysis temperature) and are given by the following 

formula: 

ሺܶሻܪ 		ൌ ௙,ଶଽ଼ܪ∆
଴ ൅ නܥ௣݀ܶ

்

ଶଽ଼

																																																																																																															ሺ2ሻ 

The heat of formation of biomass, bio-oil and char were calculated using the following 

equation [32],  

௙,ଶଽ଼ܪ∆
଴ ൌ ܸܪܪ െ ሺ0.327ܥ ൅ ܪ1.417 ൅ 92.57ܵ ൅  	ሺ3ሻ																																																				ሻܯ0.158

where HHV represent the higher heating value (MJ/kg). C, ܪ, ܵ and ܯ represent the 

percentage mass fraction of carbon, hydrogen, sulphur and moisture contents in the 

fuel respectively. The HHV (MJ/kg) was calculated based on the unified correlation 

for solid and liquid fuels proposed by Channiwala and Parikh [33] as follows: 

ܸܪܪ ൌ ܥ0.3491 ൅ ܪ1.1783 ൅ 0.1005ܵ െ 0.1034ܱ െ 0.0151ܰ െ  ሺ4ሻ																							ܣ0.0211

where ܱ, ܰ and ܣ represent percentage mass fraction of oxygen, nitrogen and ash 

on dry basis respectively. The composition of the various fuels used in the Eqs. 3 and 

4 were obtained from the experimental data on switch grass pyrolysis reported by 

Boateng and Mtui [22]. For a biomass flow rate of 5 g/s and an ideal case of product 

yield of 60% bio-oil, 30% bio-char and 10% NCG the above equation gives an 

estimate thermal input of 9.3 kW. For a solid inlet temperature of 700 °C and an 

average reactor temperature of 500 °C, this roughly corresponds to a sand flow rate 

of 80 g/s, which is 16 times the biomass feed rate. Further details on the reactor 

operating conditions and the physical properties of the material used in the model are 

given in Table 2.  



 

3. Modelling approach  

The following sections present the mathematical formulation used to describe (i) the 

mass, momentum and granular energy equations (ii) the heat transfer between the 

solid and gas phases in addition to endothermic heat of pyrolysis reaction, and  (ii) 

the mass transfer of species resulting from biomass drying and thermal degradation 

(devolatilization). The devolatilization rate equation and kinetics have been 

implemented in the CFD model using in-house developed UDF in C++ language, as 

given in Appendix A. The details of the original hydrodynamic model (unreactive cold 

flow) can be found in part I of this study [7].  

  

3.1. Continuity, momentum and granular temperature 

The multi-solid phase Eulerian-Eluerian model developed in the first part of this study 

[7] has been modified to include the overall mass exchange between the gas phase 

and the biomass. The modified continuity, momentum and granular temperature 

equations are as follows: 

Continuity equations: 

߲൫ߙ௚ߩ௚൯
ݐ߲

൅ ሬറ௚൯ݑ௚ߩ௚ߙ൫ߘ ൌ ܴ௚																																																																																																												ሺ5ሻ 

߲൫ߙ௦೔ߩ௦೔൯

ݐ߲
൅ ሬറ௦೔൯ݑ௦೔ߩ௦೔ߙ൫ߘ ൌ ܴ௦೔																																																																																																								ሺ6ሻ 

෍ߙ௦೔

ଶ

௜ୀଵ

൅ ௚ߙ ൌ 1																																																																																																																																			ሺ7ሻ 

where ߙ	is the volume fraction,	ρ is the density. ݑሬറ is the velocity vector, ܴ is the 

interphase mass transfer due to surface chemistry at interface (pyrolysis) or 

evaporation. The subscript ݃, ݏଵ and ݏଶ stand for gas, sand and biomass phases 

respectively. Note that, ܴ௦భ ൌ 0 for the inert solid (sand).    

 

Momentum equations: 

߲൫ߙ௚ߩ௚ݑሬറ௚൯
ݐ߲

൅ ሬറ௚൯ݑሬറ௚ݑ௚ߩ௚ߙ൫ߘ ൌ െߙ௚ܲߘ ൅ ௚߬ߘ െ෍ߚ௚௦೔൫ݑሬറ௚ െ ሬറ௦೔൯ݑ

ଶ

௜ୀଵ

 

൅ߙ௚ߩ௚ Ԧ݃ ൅ ሬܴറ௦మ௚ ൅ ሶ݉ ௦మ௚ݑሬറ௦మ௚																											ሺ8ሻ 



߲൫ߙ௦భߩ௦భݑሬറ௦భ൯
ݐ߲

൅ ሬറ௦భ൯ݑሬറ௦భݑ௦భߩ௦భߙ൫ߘ ൌ െߙ௦భܲߘ െ ߘ ௦ܲభ ൅ ௦భ߬ߘ ൅ ሬറ௚ݑ௚௦భ൫ߚ െ  ሬറ௦భ൯ݑ

൅ߚ௦భ௦మ൫ݑሬറ௦మ െ ሬറ௦భ൯ݑ ൅ ௦భߩ௦భߙ Ԧ݃																																										ሺ9ሻ 

߲൫ߙ௦మߩ௦మݑሬറ௦మ൯
ݐ߲

൅ ሬറ௦మ൯ݑሬറ௦మݑ௦మߩ௦మߙ൫ߘ ൌ െߙ௦మܲߘ െ ߘ ௦ܲమ ൅ ௦మ߬ߘ ൅ ሬറ௚ݑ௚௦మ൫ߚ െ  ሬറ௦మ൯ݑ

൅ߚ௦మ௦భ൫ݑሬറ௦భ െ ሬറ௦మ൯ݑ ൅ ௦మߩ௦మߙ Ԧ݃ ൅ ሬܴറ௚௦మ െ ሶ݉ ௦మ௚ݑሬറ௦మ௚												ሺ10ሻ 

where ߚ௚௦ and ߚ௦௦ are the gas-solid and solid-solid momentum exchange coefficients, 

respectively, Ԧ݃ is the gravity constant, τ is the solid shear stress tensor, ሬܴԦ ൌ ܴ ൈ  ሬԦ  isݑ

the interphase momentum transfer due to the pyrolysis reaction, and ሶ݉  ሬറ is theݑ

interphase momentum transfer due to evaporation. Note that ሬܴറ and ሶ݉  ሬറ are notݑ

included in Eq. 9, due to the inert nature of the sand particles. 

  

Granular temperature equations: 

3
2
ቈ
߲൫ߙ௦೔ߩ௦߆௦೔൯

ݐ߲
൅ ሬറ௦೔቉ݑ௦೔൯߆௦ߩ௦೔ߙ൫ߘ

ൌ ቀെ ௦ܲ೔ܫ ൅ ߬௦೔ቁ : ሬറ௦೔ݑߘ ൅ ߘ ቀߢ௵ೞ೔߆ߘ௦೔ቁ െ ೞ೔௵ߛ ൅෍߶௞௦೔

ଶ

௞ୀଵ

																															ሺ11ሻ 

where ߆௦ is granular temperature of solid phase, ߢ௵ೞ is diffusion coefficient of 

granular energy, and ߶௞௦ is energy exchange between phase k and solid phase. 

 

3.2. Gas species conservation and heat transfer 

The conservation equations of species transport in the gas phase are given by:  

߲൫ߙ௚ߩ௚ ௜ܻ,௚൯
ݐ߲

൅ ሬറ௚ݑ௚ߩ௚ߙ൫ߘ ௜ܻ,௚൯ ൌ െ׏ ∙ Ԧ௜,௚ܬ௚ߙ ൅ ൫ ሶ݉ ௜,௚௦మ െ ሶ݉ ௜,௦మ௚൯ ൅ ܴ௜,௚																															ሺ12ሻ 

Ԧ௜,௚ܬ ൌ െ൬ߩ௚ܦ௜,௚ ൅
௧ߤ
ܵܿ௧

൰ ׏ ௜ܻ,௚ െ ௜,௚,்ܦ
ܶ׏
ܶ
																																																																																						ሺ13ሻ 

where ௜ܻ,௚=1,2,…	݊௚ is the mass fraction of species ݅ in the gas phase, ܬԦ௜,௚ is diffusion 

flux of species	݅, 	 ሶ݉ ௜,௚௦మ and ܴ௜,௚ are the mass transfer between the gas and biomass 

phase due to drying and devolatilization reaction (pyrolysis) respectively. ܦ௜,௚  is the 

mass diffusion coefficient for species ݅  in the gas phase, and ்ܦ,௜,௚  is the thermal 

diffusion coefficient.  

 



The heat balance equation for the gas phase is given by  

߲൫ߙ௚ߩ௚݄௚൯
ݐ߲

൅ ሬറ௚݄௚൯ݑ௚ߩ௚ߙ൫ߘ

ൌ ௚ߙ
߲ ௚ܲ

ݐ߲
൅ ߬௚̿: ሬԦ௚ݑ׏ െ Ԧ௚ݍ ൅ ௚ܵ ൅	ܳ௚௦భ ൅ ܳ௚௦మ ൅ ൫ ሶ݉ ௦మ௚݄௦మ௚ െ ሶ݉ ௚௦మ݄௚௦మ൯	ሺ14ሻ 

where ݄௚  is the specific enthalpy of the gas phase,  ݍԦ is the heat flux,  ܵ is a source 

term that includes enthalpy due to chemical reaction, ܳ௚௦భ is the intensity of heat 

exchange between the gas and solid phases. The last term on the right side 

represent the interphase enthalpy exchange due to evaporation.  

 

The heat balance equations for the solid phase is given by  

߲൫ߙ௦భߩ௦భ݄௦భ൯
ݐ߲

൅ ሬറ௦భ݄௦భ൯ݑ௦భߩ௦భߙ൫ߘ ൌ ௦భߙ
߲ ௦ܲభ

ݐ߲
൅ ߬̿௦భ: ሬԦ௦భݑ׏ െ Ԧ௦భݍ ൅ ܳ௦భ௚																																			ሺ15ሻ 

߲൫ߙ௦మߩ௦మ݄௦మ൯
ݐ߲

൅ ሬറ௦మ݄௦మ൯ݑ௦మߩ௦మߙ൫ߘ ൌ ௦మߙ
߲ ௦ܲమ

ݐ߲
൅ ߬̿௦మ: ሬԦ௦మݑ׏ െ Ԧ௦మݍ െ ௚ܵ ൅ 

ܳ௦మ௚ ൅ ൫ ሶ݉ ௚௦మ݄௚௦మ െ ሶ݉ ௦మ௚݄௦మ௚൯												ሺ16ሻ 

 

The intensity of the heat exchange between the gas and solid phase is given by:   

ܳ௦೔௚ 	ൌ ݄௦೔௚
ᇱ ௜൫ܣ ௦ܶ೔ െ ௚ܶ൯																																																																																																																				ሺ17ሻ 

where  ݄௚௦೔
ᇱ ௜ and ൫ܣ , ௦ܶ೔ െ ௚ܶ൯ are the volume heat transfer coefficient between the 

gas phase and the ݅ th solid phase (sand or biomass), the gas-solid interface contact 

area and the temperature difference between the bulk gas and the solid. The heat 

transfer coefficient is related to the Nusselt number, ܰݑ௦೔, as follows:    

݄௦೔௚
ᇱ ൌ 					

௦೔ݑ௚ܰߢ
݀௦೔

																																																																																																																																ሺ18ሻ 

where ߢ௚ is the thermal conductivity of gas phase and ݀௦೔ is the particle diameter of 

the ݅ th solid phase. Nusselt number is given by Gunn’s correlation [34], applicable to 

a porosity range of 0.35-1.0 and Reynolds number of up to 105, as follows: 

௦೔ݑܰ ൌ ൫7 െ ௚ߙ10 ൅ ൫1	௚ଶ൯ߙ5 ൅ 0.7ܴ݁௦೔
଴.ଶܲݎଵ/ଷ൯

൅ ൫1.33 െ ௚ߙ2.4 ൅ ௚ଶ൯ܴ݁௦೔ߙ1.2
଴.଻ܲݎଵ/ଷ																																																																	ሺ19ሻ 

 

It is worth noting that in the above heat balance equations it is assumed that the 

internal thermal resistance at the single particle level is negligible, i.e. uniform 



temperature distribution is assumed. The estimated Biot numbers for the sand and 

biomass particles used in this study are well below unity (0.087 and 0.16) 

respectively), thus lending support to the validity of this assumption. 

 

In developing the above equations, it is assumed that the biomass particle retain its 

original size while the density changes due to devolatilization and drying to produce 

the bio-char and gas. It is recognized that this is an oversimplification of a more 

complex phenomena where it is expected that biomass particle undergoing thermal 

conversion in a fluidized bed are prone to defragmentation and shrinkage. However, 

within an Eluerian-Eluerian modelling, a well-established approach to model theses 

phenomenon is not yet available. Recalling the results of the solid-gas separation 

using the novel separation mechanism presented in the first part of this study [7], 

where it was found that the separation efficiency is critically sensitive to the particle 

size, the simplification discussed above may result in over prediction of the 

separation efficiency. Apart from that, no critical effect on the overall pyrolysis 

product is expected. 

  

3.3. Biomass drying and devolatilization 

3.3.1. Drying 

Several biomass drying models are available in the literature. Syamlal and Bisset [35] 

and Tinaut et al [36] reported a model treating the biomass drying step as a chemical 

reaction with kinetic rate constants obtained from Arrhenius law. Lee et al [37] and Di 

Blasi [38] reported that the biomass drying can be treated as an 

evaporation/condensation process where the moisture evaporation is controlled by 

diffusion. A different and a simpler method, reported by Gerber et al. [39], assumed 

that the biomass entering the reactor contains no water and then added the moisture 

truly existing in the biomass to the inlet in the form of gaseous water. In this study, 

the biomass drying is implemented in the model based on evaporative mass transfer 

process where the biomass water content is assumed to be converted to moisture 

and added to the gases phase according to the following mass transfer equation [37]:   

                                            
 Assuming an average surrounding temperature of 500 °C, heat transfer coefficient of 0.65 kW m-2 K-

1, thermal conductivity of 0.25 and 0.1 Wm-1K-1 for sand and biomass particles respectively. 



݉௟௩ ൌ ݇௠ ൈ ௟ߩ௟ߙ
ሺ ௟ܶ െ ௦ܶ௔௧ሻ

௦ܶ௔௧
																																																																																																													ሺ20ሻ 

where ݉௟௩ is the mass transfer rate from the liquid phase to the vapour phase per 

unit volume, ݇௠ is the mass transfer coefficient, ߙ௟ and ߩ௟ represent the moisture 

volume fraction and density, respectively, ௟ܶ is the gaseous phase temperature and 

௦ܶ௔௧ is the saturation temperature taken as 100 °C. In the energy balance (Eqs. 14 

and 16) the enthalpy due to drying is calculated by multiplying the mass transfer rate 

by the latent heat of evaporation. 

 

3.3.2.Devolatilization  

The biomass is treated as a solid phase consisting of volatile matters, fixed carbon, 

ash and fixed water content. The composition of the biomass (switch grass), obtained 

from proximate analysis, is given in Table. 3. In adding the devolatilization to the 

model, there are three options that can be broadly classified under the following 

mechanisms: (i) one step global reaction model (e.g. [22]) (ii) one component with 

parallel reactions model (e.g. [10]) (iii) multicomponent reactions model (e.g. [20, 23, 

26]). The first option is the simplest and assumes that the biomass is thermally 

degraded to a final product of char, condensable vapour (bio-oil) and a permanent 

gas (NCG) and this can be represented by a single first order reaction and one global 

rate constant. Further details on this are given below. The second option, widely 

known as the Waterloo concept [34], assumes that the pyrolysis proceed by first 

producing char, primary oil and gas, which is then followed by a secondary reaction 

converting the primary oil to secondary products of permanent gas and bio-oil. These 

parallel reactions are commonly presented as a set of four first order competing 

reactions, each with different rate constants (e.g. [34, 40]). The third model is a more 

complex, commonly referred to as multi component pyrolysis model. This involves 

treating the biomass as a multicomponent, in most cases considered as 

hemicellulose, cellulose and lignin. Each component is assumed to be thermally 

degraded independent of each other and with different rate constants to produce bio-

oil, gas (NCG) and char (e.g. [9], [27]).  

 

In this study, a one-global reaction scheme is used to for the formation of various 

pyrolysis products as follows [22]:  



ܵܵܣܯܱܫܤ → ܴܣܪܥଵߙ ൅ .ܱܫܤଶߙ ܮܫܱ ൅ ଶܱܪଷߙ ൅ ଶܪସߙ ൅ ܱܥହߙ ൅ ଶܱܥ଺ߙ ൅  ሺ21ሻ							ସܪܥ଻ߙ

where ߙ௜ is the stoichiometric coefficient of reaction. As shown, the overall pyrolysis 

products are assumed to consist of char, condensable vapour (bio-oil) and a 

permanent gas phase (NCG) consisting of H2, CO, CO2 and CH4. This modeling 

scheme has the advantage of being computationally fast, especially when handling 

complex multiphase solid system in three dimensional coordinates. It also serves the 

main purpose of this study which is to provide a robust and realistic predictive tool for 

the evaluation of the reactor performance and aid in future design and development 

of the process. The stoichiometric coefficients (ߙ௜) for switch grass pyrolysis reaction 

have been derived previously by Boateng and Mtui [22] as shown in Table.4. These 

are obtained from molar elemental balances of carbon, hydrogen and oxygen in the 

switch grass and the corresponding composition of the pyrolysis products of bio-oil, 

gas and char obtained from a TGA analysis. Further details on the derivation of the 

stoichiometric coefficients can be found in the literature [22, 41, 42].  

 

The rate of the pyrolysis reaction in Eq. 21 is given by the following formula, 

specifically derived for switch grass pyrolysis by Pasangulapati [43] as follows: 

ݎ ൌ 	௩௢௟ሿܥሾ		௦మߙ݇
଴.଺଻																																																																																																																													ሺ22ሻ 

where ܥ௩௢௟ is the concentration of the volatiles in the biomass and ݇ is the reaction 

rate constant given by an Arrhenius kinetic format as follow:  

݇ ൌ  ሺ23ሻ																																																																																																																														ሿܴܶ/ܧሾെ݌ݔ݁ܣ

were the pre-exponential factor ܣ and the activation energy ܧ used are 2.16× 107 s-1 

and 1.037 × 108 J/Kmol respectively [43].  

 

3.4. Computation procedure and boundary conditions  

The model equations were solved using the finite volume approach. First-order 

discretization schemes were used for the solution of the convection terms in all 

governing equations. The relative error between any two successive iterations was 

specified by using a convergence criterion of 10-3 for each scaled residual 

component. The phase-coupled SIMPLE (PC-SIMPLE) algorithm [44], which is an 

extension of the SIMPLE algorithm to multiphase flows, was applied for the pressure-

velocity coupling. The linearized governing equations were solved using block 

algebraic multi-grid method.  



 

In order to avoid numerical instabilities and ensure capturing the fast biomass 

conversion and heat transfer, the solution time step for the reactive system was set 

to a relatively smaller time step of 0.0005 s for the first real processing time of 0.5 s 

then increased to 0.001 s for the rest of the simulation time. In Part I of this study, it 

was shown that a time step of <0.005 s is sufficient to satisfy the Courant–Friedrichs–

Lewy (CFL) condition for accurate solution [7]. The maximum allowable number of 

iterations per time step was set at 20. The product gaseous yield was monitored and 

recorded at the reactor gas outlet after reaching steady condition. In setting the 

boundary conditions, the tip of the gas outlet was set at atmospheric pressure. At the 

walls, no-slip wall condition was specified for the gas phase and a slip velocity and 

granular temperature was specified for the solid phase using Johnson and Jackson 

[45, 7] boundary equations. For the thermal boundary conditions, all the walls were 

treated as adiabatic by setting zero heat flux between the reactor and its 

surroundings. 

 

The computer used in the simulation was an HP Z800 Workstation (3.20 Ghz 4 Core 

processor with 24GB RAM). The total time required to reach steady state operation 

of the pyrolysis reactor (defined in terms of stable product yield) was around 2.5 

seconds. The computation time for 1 s real processing time was 7.7 hr, which is 

considerably realistic compared to some of the recently reported CFD simulation time 

for similar problems, e.g. Mellin et al. [26] reported a processing time of around 66 hr 

for each 1s real processing time.  

 

4. Results and discussion 

4.1. Separation efficiency  

The percentage efficiency of the gas separation from the solid-gas phase mixture, 

 ௦௘௣, was calculated from the specified inlet solid flow rate, ݉௜௡, and the predictedߟ

solid entrainment rate at the gas exit pipe, ݉௢௨௧, as follows [7]: 

௦௘௣ߟ ൌ ൬1 െ
݉௢௨௧

݉௜௡
൰ ൈ 100%																																																																																																													ሺ24ሻ 

 

Fig. 2 shows the temporal histories of separation efficiency for both biomass and 

sand from the pyrolysis gas. The data was obtained by recording the solid particles 



entrainment rate for each solid phase at the tip of the gas exit during pyrolysis. There 

is a delay of ~1.0 s before the particulate phase reach the tip of the gas exit pipe, 

which is why 100% efficiency is seen before this time has elapsed. The sharp 

fluctuation in the separation efficiency are due to start-up effect and are shown to last 

for few second, before the flow reaches hydrodynamic stability in around 4.0 s. This 

coincides with the time required to reach overall steady state of the reactor defined in 

terms of the pyrolysis gas flow rate, as discussed in Section 4.5. The calculated 

separation efficiency for the sand and biomass particles after 5 s operation was 

found to be 99.97% and 99.95% respectively. This is in good agreement with the 

experimental and model prediction data presented in Part I of this study [7]. 

 

4.2. Temperature distribution and heat transfer  

Figs. 3 and 4 show the contour plot and profile of the cross-sectional average 

temperature for the three phases of the pyrolysis gas, sand and bio-char after 5 s 

operation. The heat-bearing sand is introduced at the top of the reactor at a very high 

temperature of 700 oC and then rapidly losses heat to the surrounding nitrogen and 

biomass particles, both entering at 25 oC. In the model formulations, the particle-

particle heat transfer is assumed negligible due to the low concentrations of solids; 

therefore, the predicted heat transfer to the biomass is mainly by convection through 

the nitrogen gas carrier. It is clear that due to the rapid heat transfer at the entrance, 

the thermal entrance length for the biomass particles is relatively short. However, the 

overall thermal equilibrium between the various phases is only reached after around 

100 cm from the reactor entrance due to the developing heat transfer between the 

sand and nitrogen. All phases appear to attain almost a constant temperature of 

around 400 °C at the region where the cone deflector and gas discharge pipe are 

located. In Fig. 4, the contours show uniform radial and axial temperature distribution 

throughout the lower part of the reactor. Such a stable range of temperature is highly 

desirable to ensure optimum condition for high bio-oil yield, while fast separation of 

the product from the bio-char takes place. Previous experimental studies have shown 

that over-heated biomass will produce more non-condensable gas than bio-oil [e.g. 

4].  

 

The contours of solids concentration and the pyrolysis reaction rate after 5 s 

operation are shown in Fig. 5. Both the biomass and sand particles are highly 



concentrated within the thermal entrance zone, meanwhile the pyrolysis reaction rate 

is very limited, nearly zero at the far top of the reactor due to low biomass 

temperature. The devolatilization rate then becomes uniform as the biomass enters 

the relatively thermally stable zone with temperature just above 400 °C. It should be 

noted that the devolatilization rate is also dependent on the availability of biomass 

within a given zone; hence it is a combination of the temperature and biomass 

concentration that determines the localized gas production rate. In the far bottom part 

of the reactor, beyond the gas exit pipe, the devolatilization rate decreases mainly 

due to the drop in temperature below 400 °C.    

 

4.3. Gas residence times 

As noted earlier, in order to increase the bio-oil yield in the pyrolysis product gas, it is 

very important to control the reactor temperature and residence time to avoid 

secondary cracking reactions. A downer reactor has the advantage of operating at 

nearly plug flow, thus limiting the spread of the gas/solid residence time distribution. 

Fig. 6 shows the gas velocity vector after 5 s operation (steady state condition). It is 

clear that the gas velocity takes the shape of a plug flow at the upper part before the 

separator. In the region just below the separator, there is a noticeable reverse flow 

towards the gas exit pipe due to the migration of gas from the higher pressure zone 

to the tip of the gas exit pipe, where the pressure is set at atmospheric. Therefore, 

the gas residence time is directly related to the distance travelled beyond the gas exit 

pipe. In part I of this study [7], the influence of the various operating conditions on the 

gas residence time was investigated through the analysis of the gas disengagement 

height (GDH). The DGH was defined as the distance travelled by the gas below the 

gas-solid separator before reversing flow towards the gas exit pipe. Accordingly, with 

the knowledge of the gas velocity one can relate this to the distance travelled by gas 

to extract approximate data on the residence time.  In this part of the study, another 

numerical approach to determine the gas residence time, based on tracking a single 

massless particle, has been used. This method is also referred to in the literature as 

particle tracking or trajectory calculation (e.g. [26], [46]). The tracking method was 

implemented in ANSYS-FLUENT platform to monitor the velocity field of the gas 

phase. A numerical example is shown in Fig. 7, where 50 mass-less particles were 

released from the top inlet. In total around 500 were released at different points from 

the biomass inlet (where residence time=0). Most of particles (>90%) reached the 



outlet while other particles remained circulating within the reactor. The predicted 

residence time distribution (RTD) within the downer reactor is shown in Fig. 8. Due 

the various path lines along the gas flow field, the RTD shows a narrow distribution 

within the range of 0.6-1.4 s and a dominant peak at 0.9 s. This is satisfactory close 

to the recommended residence time for high bio-oil yield, which is within the range of 

1-2 s [2, 6].   

 

4.4. Devolatilization efficiency  

Within the temperature range of 400-550 °C, most of the volatiles are believed to be 

removed from the biomass by devolatilization to produce a pyrolysis gas and bio-

char. The bio-char mainly consist of the remaining volatiles, ash and fixed carbon. 

Beside the temperature, the devolatilization efficiency is strongly dependent on a 

number of factors, including the biomass particle size, heating rate and residence 

time within the hot zone of the reactor. The formula used to calculate the 

devolatilization efficiency is given by, 

ௗ௘௩ߟ ൌ
݉௩௢௟௔௧௜௟௘	removed	from	biomass
݉௩௢௟௔௧௜௟௘	in	the	biomass	feed	

																																																																																				ሺ25ሻ 

 

Fig. 9 shows the predicted cross-section averaged devolatilization efficiency after 5 

seconds operation as function of the reactor height. It is clear that the devolatilization 

rapidly progresses as the biomass particles fall towards the bottom of the reactor. 

The efficiency approaches constant value of 62.0% at the bottom exit of the reactor. 

At the gas exit pipe the efficiency is around 58% and the corresponding predictions of 

the overall product yield (bio-oil, bio-char and NCG) are discussed in the next 

section.  

 

 

4.5. Product yield and composition  

Fig. 10 shows the evolution of the pyrolysis gaseous products including condensable 

gases (H2O, Bio-oil) and non-condensable gases (CO, CO2, CH4 and H2). Note that 

the gas composition is obtained at the tip of the gas exit pipe. It is clear that all of the 

pyrolysis gaseous components, with the exception of water vapour, increase steadily 

during the unsteady stage. The water vapour appears to be instantaneously released 

as a result of fast biomass drying, and this constituted 100% composition of the gas 



phase during the first half second of the start-up. The water vapour then gradually 

decreases to steady concentration as the other volatile components start to increase. 

This behaviour is consistent with the mechanism of biomass pyrolysis where drying 

occurs first at a low temperature of 100 oC and at a fast rate while de-volatilization 

takes place at a later stage at a temperature beyond ~200 oC. The pyrolysis gas flow 

rate sharply increases within the first second and then becomes steady after around 

4 s, which is around the time the overall flow hydrodynamics becomes stable as 

shown earlier in terms of the solid-gas separation efficiency in Fig. 2.  

 

Fig. 11 shows the steady state composition of the overall pyrolysis products (bio-oil, 

bio-char and NCG) and the composition of the NCG predicted in this study in 

comparison with some of the recent reported experimental studies. It is recognised 

that the operating principles and conditions of these literature studies are different 

than the ones considered in the present study; however, the comparison made here 

is only meant to show confidence on the validity of the modelling approach and 

demonstrate its predictive capabilities as a promising design and development tool. 

In Fig. 11a the comparison with the experiemental work of Ding et al. [47] shows the 

best agreement with the current predictions in terms of the overall product 

composition of the bio-oil, char and NCG. This experiement was carried out in the 

downer side of a dual fluidized bed stystem, with the heat supplied to the pyrolysis 

reactor from a connected comustor, thus greatly resemple the case simulated here. 

The composition of the biomass used was also closely matching the proximate 

anlaysis of the swicth grass used in the current simulation. The data reported by 

Punsuwan and Tangsathitkulchai [48], which was alos produced in a downer reacor, 

shows clear discribancy when compared to the current predictions. This is mainly 

attributed to the very short biomass residence time within the heated section of the 

reactor, which was just limited to 20 cm of the total 1.1 m downre height. Such a 

reactor design, while having the advantage of controling the residnce time of the 

pyrolysis gas within the hot section of the reactor, has a damaging effect on the 

amount of volatiles released. In the experimental data of Boateng and Mtui [22], 

which was produced in a bubbling bed with the same feedstock used in this study, 

the bio-oil yield is close to the value predicted here, however, the char is 

considerably low and the NCG is high. This is not surmising and agrees well with the 

reported literature, since in a bubbling bed reactor the residence time of the char is 



relatively high compared to fast solid circulating system [4, 49].  This in turn results in 

higher biomass decomposition to vapour, which when in contact with the char 

produces more NCG due to char catalytic cracking. In the reactor simulated in this 

study, the effect of the char cracking is eliminated because the reactor is equipped 

with a fast gas separation mechanism that allows limiting the gas residence time and 

its contact with the char. 

 

It should be note that the calculated bio-oil yield includes the produced water. In this 

study, the water content was found to represent 11.0 wt% of the total liquid product. 

None of the literature reported in Fig. 11a have given the exact fraction of water in 

the product oil, but a study by Westerhof [50] reported that typically water content in 

the pyrolysis bio-oil is in the range of 15-35 wt% water content. The low water 

content in the product predicted here is mainly due to the low moisture content in the 

feedstock. The calculated HHV of the bio-char and NCG were found to be 29.85 and 

9.56 MJ/kg respectively. These values are within the ranges reported for biomass 

fast pyrolysis [51-53].   

 

Comparison of the predicted and experimentally measured non-condensable gas 

(NCG) composition, shown in Fig. 11b, indicate a satisfactory agreement with the 

experimental data of Ding et al. [47], with the exception of H2, which is clearly under-

predicted. The comparison with the experimental data of Boateng and Mtui [22], is 

also indicate satisfactory agreement in terms of CO and CO2 concentration, despite 

of it being produced in a different reactor type, but the deviation in CH4 and H2 

reaches up to 90%. It is generally expected that the NGC gas composition for a given 

biomass material should not be highly sensitive to the reactor type (e.g. bubbling or 

downer) as long as the operating conditions are close and the gas residence time is 

well controlled to avoid char/thermal cracking. However, it is recognized that biomass 

pyrolysis is a complex phenomenon and such a control during experiments is not 

always granted. Another factor that may have contributed to discrepancy between 

the predicted NCG composition and the experimental measurement is the 

simplifications applied in determining the fitting parameters used in the pyrolysis 

reaction (Eq. 21), as previously reported by Boateng and Mtui [22]. 

 

 



5. Conclusion 

This study presented a robust CFD model for the simulation of fast pyrolysis of 

biomass in a downer reactor equipped with a novel gas-solid separation mechanism. 

The highly endothermic reaction was assumed to be driven by an inert heat carrier 

introduced to the top of the reactor from a combustor within a dual fluidized bed 

reactor. The pyrolysis predictive model, which was based on the Eulerian-Eulerian 

(two-fluid) hydrodynamic model developed in part I of this study, was implemented 

using a single pyrolysis reaction and was solved in three dimensional coordinates 

using ANSYS-FLUENT commercial software. According to the predicted results, the 

following conclusions are made: 

a) Despite the high complexity of the pyrolysis process, the proposed model 

proved to be computationally fast and reasonably accurate, thus has the 

great potential for parametric analysis or as tool for design, optimization 

and scale-up analysis of the pyrolysis reactors. 

b) The proposed novel solid-gas separation mechanism has the potential to 

achieve >99.9% separation efficiency, while allowing control of the 

pyrolysis gas residence time within 2 s.  

c) The multi-phase flow mixture show uniform temperature distribution along 

the reactor height, and most importantly, the temperature profile confirm a 

short thermal entrance length, a highly desirable feature for fast pyrolysis 

of biomass. 

d) The predicted pyrolysis yield (56.85% bio-oil, 37.87% char, and 5.28% 

NCG) and gas composition (41.54% CO2, 51.41% CO, 0.32% H2 and 

6.73% CH4) suggest that the applied single global pyrolysis reaction and 

the new kinetic parameters used are capable of producing satisfactory 

data. 

e) The new developed user defined function (UDF), presented in Appendix A, 

can be incorporated in CFD codes for the simulation of fast pyrolysis of 

various biomass materials, once the pyrolysis kinetics are known. 

 

 

 



Notations 

 ௜ Interfacial area (m2)ܣ

 ௣ Specific heat (J kg-1K-1)ܥ

݀௜ Diameter of solid phase ݅  (m) 

 (-) Activation energy ܧ

Ԧ݃ Gravity (m s-2) 

݄ Specific enthalpy (kJ kg-1) 

݄ᇱ Heat transfer coefficient  (wm2k-1) 

݇௠ Mass transfer coefficient (s-1) 

 ௙௘௘ௗሺܶሻ   Heat of formation for feedstock at temperature T (KJ/kg)ܪ

 ௣௥௢ௗሺܶሻ   Heat of formation for product at temperature T (KJ/kg)ܪ

௙,ଶଽ଼ܪ∆
°  Heat of formation at temperature 298K (KJ/kg) 

 Ԧ௜,௚ Diffusion flux of species ݅ (kg m-2 s-1)ܬ

 Reactor length (m) ܮ

݉௜௡,݉௢௨௧ Mass of fed and entrained solid particles respectively (kg) 

ሶ݉  Mass transfer (kg m-3 s-1) 

 (-) ݅ ௦೔ Nusselt number of solid phaseݑܰ

ܲ Pressure (pa) 

 (-) Prandtl number ݎܲ

 Ԧ  Heat flux (w m-3)ݍ

ܳ௚௦భ Intensity of heat exchange between gas and solid (kJ m-3 s-1) 

ܳ௜௡ Required thermal input for pyrolysis (Kw) 

ܴ௚, ܴ௦೔ Interphase mass transfer term (kg m-3 s-1) 

ܴ݁௦೔ Reynolds number of solid phase ݅  (-)  



ܵ Source of enthalpy due to chemical reaction  (kJ m-3 s-1) 

ܶ Temperature (K) 

 Time (s) ݐ

,ሬറ௚ݑ  ሬറ௦೔ Gas and solid velocity vector (m s-1)ݑ

ܷ௠௙ Minimum fluidization velocity (m s-1) 

ܷ௣ Particle velocity (m s-1) 

௜ܻ,௚ Mass fraction 

  
Greek symbols  

,௚ߙ   (-) ௦೔ Volume fraction of gas and solid phase ݅ respectivelyߙ

 Momentum exchange coefficient (kg m-3 s-1) ߚ

γ௵ೞ೔  Collisional energy dissipation (kg m-1 s-3) 

 (-) Separation efficiency ߟ

 ௦೔ Granular temperature of solid phase ݅ (m2 s-2)߆

ೞ೔௵ߢ  Diffusion coefficient of granular energy (kg m-1 s-1) 

   ௦೔ Particle bulk viscosity (kg m-1 s-1)ߣ

,௦೔ߩ   ௚ Solid and gas densities respectively (kg m-3)ߩ

߬ Solid residence time (s) 

߬ Shear stress tensor (kg m-1 s-2) 
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Appendix A  

#include "udf.h" 
#include "stdio.h" 
#include "time.h" 
#define SMALL_S 1.e-29 
#define eps_g_small 0.99999 
#define spe_small 1.e-8 
#define TMAX  2500. 



static const real Arrhenius_devolatilization = 2.16e+7; 
static const real E_Activation_devolatilization = 10.37e+7; 
static const real c_devol_pre = 1., c_devol_exp = 1.;   
static cxboolean init_flag = TRUE; 
/* Search the index for each species */ 
static real mw[MAX_PHASES][MAX_SPE_EQNS]; 
static int INDEX_PHASE_CH4 = 0, INDEX_SPECIES_CH4 = 0, INDEX_PHASE_CO 
= 0, INDEX_SPECIES_CO = 0, INDEX_PHASE_CO2 = 0, INDEX_SPECIES_CO2 = 
0, INDEX_PHASE_H2 = 0, INDEX_SPECIES_H2 = 0, INDEX_PHASE_H2O = 0, 
INDEX_SPECIES_H2O = 0, INDEX_PHASE_N2 = 0, INDEX_SPECIES_N2 = 0, 
INDEX_PHASE_TAR = 0, INDEX_SPECIES_TAR = 0, INDEX_PHASE_C = 0, 
INDEX_SPECIES_C = 0, INDEX_PHASE_VOL = 0, INDEX_SPECIES_VOL = 0, 
INDEX_PHASE_MOISTURE = 0, INDEX_SPECIES_MOISTURE = 0, 
INDEX_PHASE_ASH = 0, INDEX_SPECIES_ASH = 0; 
DEFINE_ADJUST(Devolatilization,domain) 
{int n, ns;Domain *subdomain; 
/*int n_phases = DOMAIN_N_DOMAINS(domain);*/ 
if(init_flag) 
{#if !RP_HOST 
/* search all the species and saved the Molecular Weight */ 
sub_domain_loop(subdomain, domain, n) 
{Material *m_mat, *s_mat; 
if (DOMAIN_NSPE(subdomain) > 0) 
{m_mat = Pick_Material(DOMAIN_MATERIAL_NAME(subdomain),NULL); 
mixture_species_loop(m_mat,s_mat,ns) 
{if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"ch4")) 
{INDEX_PHASE_CH4 = n;INDEX_SPECIES_CH4 = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"co")) 
{INDEX_PHASE_CO = n; INDEX_SPECIES_CO = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"co2")) 
{INDEX_PHASE_CO2 = n;INDEX_SPECIES_CO2 = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"h2")) 
{INDEX_PHASE_H2 = n;INDEX_SPECIES_H2 = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"h2o")) 
{INDEX_PHASE_H2O = n;INDEX_SPECIES_H2O = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"o2")) 
{INDEX_PHASE_O2 = n;INDEX_SPECIES_O2 = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"n2")) 
{INDEX_PHASE_N2 = n;INDEX_SPECIES_N2 = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"tar")) 
{INDEX_PHASE_TAR = n;INDEX_SPECIES_TAR = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"c")) 
{INDEX_PHASE_C = n;INDEX_SPECIES_C = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"volatile")) 
{INDEX_PHASE_VOL = n;INDEX_SPECIES_VOL = ns;} 
else if (0 == strcmp(MIXTURE_SPECIE_NAME(m_mat,ns),"h2o<l>")) 
{INDEX_PHASE_MOISTURE = n;INDEX_SPECIES_MOISTURE = ns;} 
CX_Message ("\n ---
%d, %d %d, %d %d, %d %d,%d %d, %d %d, %d %d, %d %d, %d %d, %d %d,%d %
d, %d %d, %d %d, %d %d, %d %d \n",INDEX_PHASE_CO2, 



INDEX_SPECIES_CO2, INDEX_PHASE_H2, 
INDEX_SPECIES_H2,INDEX_PHASE_CH4, 
INDEX_SPECIES_CH4,INDEX_PHASE_CO, INDEX_SPECIES_CO, 
INDEX_PHASE_H2O, INDEX_SPECIES_H2O, INDEX_PHASE_O2, 
INDEX_SPECIES_O2,INDEX_PHASE_N2, 
INDEX_SPECIES_N2,INDEX_PHASE_TAR, INDEX_SPECIES_TAR, 
INDEX_PHASE_C, INDEX_SPECIES_C,       INDEX_PHASE_VOL, 
INDEX_SPECIES_VOL, INDEX_PHASE_TARINERT, 
INDEX_SPECIES_TARINERT, INDEX_PHASE_MOISTURE, 
INDEX_SPECIES_MOISTURE,INDEX_PHASE_ASH, INDEX_SPECIES_ASH);                              
mw[n][ns] = MATERIAL_PROP(s_mat,PROP_mwi);}} 
else{s_mat = Pick_Material(DOMAIN_MATERIAL_NAME(subdomain),NULL); 
mw[n][0] = MATERIAL_PROP(s_mat,PROP_mwi);}}  
#endif 
init_flag = FALSE;}} 
DEFINE_HET_RXN_RATE(devolatilization,c,t,hr,mw,yi,rr,rr_t) 
{  Thread **pt = THREAD_SUB_THREADS(t); 
Thread *tp = pt[0]; /* gas phase */ 
Thread *ts = pt[1]; /* solid phase */ 
real prod; 
real x0_star = 0., x_star =0.; 
real T = MAX(273.,C_T(c,ts)); 
real T_SAT = 373.15; 
*rr = 0; prod =0.; 
if(T>TMAX) T = TMAX; 
if(T > T_SAT) 
{  if(C_VOF(c, tp) < eps_g_small && 
yi[INDEX_PHASE_VOL][INDEX_SPECIES_VOL] >spe_small) 
{  prod  =  (yi[INDEX_PHASE_VOL][INDEX_SPECIES_VOL]-
x_star)*C_R(c,ts)/mw[INDEX_PHASE_VOL][INDEX_SPECIES_VOL]; 
            *rr = c_devol_pre * Arrhenius_devolatilization *exp(- c_devol_exp * 
E_Activation_devolatilization/(UNIVERSAL_GAS_CONSTANT*T))* pow 
(prod*C_VOF(c, ts),0.67) } }} /* kmol/(m3.s) */   
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Table 1. Summary of recent literatures on CFD modelling of biomass pyrolysis   

Author (Ref.) Reactor Material; heating conditions CFD model; reaction kinetics 

Papadikis et al 
[10] 

Fluidized bed, 1.2 m/s 
nitrogen 

Single cellulosic particle 
(500µm); 773 K 

Eulerian-Lagrangian; Two stage, semi global 
model : primary pyrolysis[11], second pyrolysis 

[12,13] 
Papadikis et al 

[14] 
Fluidized bed, 1.2 m/s 

nitrogen 
Singe cellulosic particle 

(500µm); 773 K 
Eulerian-Lagrangian; Broido–Shafizadeh 
mechanism based on cellulose [15,16] 

Papadikis et al 
[17] 

Fluidized bed, 0.3 m/s 
nitrogen 

Single cellulosic particle 
(500µm); 773 K 

Eulerian-Lagrangian; Two stage, semi global 
model : primary pyrolysis[11], second pyrolysis 

[12,13] 

Xue et al. [18] 
2D Fluidized bed, 0.42 

m/s nitrogen 
Pure cellulose and bagasse 

(500 µm); 790 K 
Eulerian-Eulerian; Multi-component, multi-

stage model [9,19]  

Xue et al [20] 
2D and 3D Fluidized bed, 

1.5~3 Umf  nitrogen 

Pure cellulose, bagasse, corn 
stover, switchgrass and red 

oak (500 µm);773K  

Eulerian-Eulerian; Multi-component, multi-
stage model [9,19] 

Boateng and 
Mtui [22] 

Fluidized bed, 0.23 m/s 
nitrogen  

Switchgrass, corn stover  
and soybean straw (500 µm); 

753-823K 

Eulerian-Eulerian; One global step pyrolysis 
model based on elemental analysis 

Ashcraft et al 
[23] 

Gas–solid vortex reactor, 
0.222~0.444 kg/s 

nitrogen 

36% cellulose, 47% 
hemicellulose and 17% lignin 
(dry basis) or 10% additional 

water (500 µm);773 K 

Eulerian-Eulerian; Multi-component, multi-
stage model [9,19] 

Xiong et al [24] 
2D and 3D fluidized bed, 

4.81 kg/h  nitrogen 

42% cellulose, 34% 
hemicellulose and 24% lignin 

(500 µm);773K 

Eulerian-Eulerian; Shafizadeh−Chin 
decomposition model [9] 

Mellin et al [25] 
Bubbling fluidized bed, 
0.15-0.4m/s nitrogen 

92.4% volatiles, 0.6% ash and 
7% moisture (700-1000 µm); 

773K 
Eulerian-Eulerian; Primary pyrolysis [19] 

Mellin et al [26] 
Bubbling fluidized 
bed,0.00045 kg/s 

nitrogen 

Biomass (C6H8.46O3.9) (850 
µm); 736K 

Eulerian-Eulerian; Multi-component, multi-
stage model: primary pyrolysis [27, 28], second 

pyrolysis [29], and tar cracking. 



29 
 

Table 2. Simulation parameters  

Parameters Value Parameters Value 

Pressure outlet [pa] 101,325 Reactor height [m]* 1.335 

Biomass flow rate [g/s] 5 Reactor diameter [m]* 0.069 

Sand flow rate [g/s] 80 separator angle [degree]* 60 

Sand size [ߤm] 200 Separator to pipe distance [m]* 0 

Sand density [kg m-3] 2650 Biomass inlet temperature [K] 298 

Biomass size [ߤm] 200 Sand inlet temperature [K] 973 

N2 inlet velocity [m/s] 0.05 N2 inlet temperature [K] 298 

* Further details on the reactor and separator geometry can be found in Yu et al. [7] 

 

 

 

Table 3. Chemical composition of switch grass [22]  

 Fixed carbon Moisture Volatile Ash 
Proximate analysis (wt%) 13.81 2.65 81.20 2.54 

 C H O N 
Ultimate analysis (wt%) 48.8 6.99 43.68 0.53 

 

 

 

Table 4. Stoichiometric coefficient used in the pyrolysis reaction (Eq. 21) [22]  

 ଻ߙ ଺ߙ ହߙ ସߙ ଷߙ ଶߙ ଵߙ

0.138 0.805 0.15 0.003 0.035 0.018 0.008 
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Fig. 1. Proposed concept of biomass pyrolysis in a downer reactor 
integrated with a combustor in a dual fluidized bed arrangement. The 
dashed line indicates the boundary of the simulation domain. 
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Fig. 2. Temporal evolution of the solid-gas separation efficiency. 
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Fig. 3. Contour of the temperature distribution for the pyrolysis gas, 
biomass and sand phases in the downer reactor at steady state 
condition.  
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Fig. 4. Temperature of the pyrolysis gas, biomass and sand phases 
along the reactor height at steady state condition. The top of the reactor 
is at 133.5 cm.  
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Fig. 5. Contours of the (a) sand concentration (b) biomass concentration 
and (c) devolatilization rate at steady state condition after 5 s operation. 
The colour ranges are restricting for better visualization. The maximum 
values are 0.133 and 0.022 for sand and biomass concentrations 
respectively and 0.041 kmol m-3 s-1 for the devolatilization.  
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Fig. 6. The gas velocity vectors along the pyrolysis reactor with zoom-in 
at the solid-gas separator zone at steady state condition.  
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Fig. 7. Path lines along the velocity field of gas at steady state condition. 
The colour code indicates the gas residence time at steady state 
condition.  
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Fig. 8. The fitted gas residence time distribution based on path lines 
analysis.  
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Fig. 9. Evolution of the devolatilization efficiency along the downer 
reactor height. 
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Fig. 10. Temporal evolution of the pyrolysis gaseous products (including 
condensable and non- condensable gas).  
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Fig. 11. Comparison of the predictions and experimental data from the 
literature for the mass fraction of the pyrolysis products at steady state 
condition (a) Overall products (b) non- condensable gases. See further 
details on the operating conditions in the comments table. 

Comments (1) Reactor [48]: 0.1 m diameter and 1.1 m height; biomass: Palm shell 

of 280 µm diameter; pyrolysis temperature of 520 oC; heated section of 

0.2 m. 

(2) Reactor [47]: 0.039 m diameter and 3 m height; biomass: acid treated 

wheat straw of 180~280 µm diameter; pyrolysis temperature of 400 oC. 

(3) Reactor [22]: 0.075 m diameter and 0.5 m height; material: Switch 

grass of 500 µm size; wall temperature 480-550 oC. 

 
 

 
 


