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SUMMARY

The separation performance of a semicontinuous counter-current chromatographic
refiner (SCCR7), consisting of twelve 5.4 cm id x 75¢m long columns packed with
calcium charged cross-linked polystyrene resin (KORELA VO7C), was optimised. An
industrial barley syrup was used containing 42% fructose, 52% glucose and 6% maltose
and oligosaccharides.

The effects of temperature, flow rates and concentration on the distribution
coefficients were evaluated and quantified by deriving general relationships. The effects
of flow rates, feed composition and concentration on the separation performance of the
SCCR7 were identified and general relationships between them and the switch time,
which was found to be the controlling parameter, were developed.

Fructose rich (FRP) and glucose rich (GRP) product purities of 99.9% were
obtained at 18.6% w/v feed concentrations.

When a 66% w/v feed concentration was used and a product splitting technique was
employed, the throughput was 32.1 kg sugar solids/m3 resin/hr. The GRP contained
less than 4.5% fructose, the FRP was over 95% pure, and the respective concentrations
were 22.56 and 11.29% w/v. Over 94% of the glucose and 95.78% of the fructose in
the feed were recovered in the GRP and FRP respectively. By recycling the dilute
product split fractions, the GRP and FRP concentrations were increased to 25.4 and
12.96% wiv; the FRP was 90.2% pure and the GRP contained 6.69% w/v fructose.

A theoretical link between batch and semicontinuous chromatographic equipments
has been determined. A computer simulation was developed predicting successfully the
purging concentration profiles at "pseudo-equilibrium", and also certain system design
parameters.

An important further aspect of the work has been to study the behaviour of
chromatographic bioreactor-separators. Such batch systems of 5.4cm id and lengths
varying between 30 and 230cm, were used to investigate the effect of scaling up on the
conversion of sucrose into dextran and fructose in the presence of the dextransucrase
enzyme. Conversions of over 80% were achieved at 4 hr sucrose residence times.

The crude dextransucrase waspurified using centrifugation, ultrafiltration and
cross-flow microfiltration techniques. Better enzyme stability was obtained by first
separating the non-solid impurities using cross-flow microfiltration, and then removing
the cells from the enzyme immediately before use by continuous centrifugation.

KEY WORDS: Chromatography, production scale, continuous, High Fructose Corn
Syrup, biochemical reactor-separator, dextransucrase. -
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CHAPTER 1
1.0 INTRODUCTION

It is now 80 years since Tswett (1903, 1906) described a novel method for the
separation of coloured plant pigments and named it "chromatography”. The term is of
Greek origin meaning "colour-writing". Chromatography can be defined as the unit
operation where the separation of solutes occurs due to their differential migration rates
through a system of two phases, the mobile and the stationary phase. A major
contribution to the development of chromatography was the work by Martin and Synge
(1), for which the former was awarded the Nobel prize. Chromatography has been used
extensively as a powérful analytical tool. Over the last fifteen years or so, its separating
capabilities have been appreciated by the industry and production scale processes have
been used by the food, petrochemical and cosmetic industries.

Some representative examples are the FINNISH SUGAR ENGINEERING
processes for the desugarisation of molasses, the Parex UOP process for the separation
of p-xylene and the Sarex UOP process for the separation of carbohydrates. Economuic,
climatic, political and consumer related factors have reshaped the traditional sugar
markét, increased the use of alternative sweeteners such a saccharin and fructose, and
increased the demand for High Fructose Cormn Syrup (HFCS) produced from
starch-based carbohydrate feedstocks such as corn, barley, rice and potatoes.

The increased sweetness of fructose, (approximately 1.8 times sweeter than
the equivalent amount of sucrose in cold solution), has increased the demand for HFCS
as a sucrose substitute by the food and beverage industries. This sudden change in the
sugar market appeared in the early seventies in the USA, and currently 40% of the
market in the States is supplied by HFCS. A similar market trend has appeared in Japan
and the Scandinavian countries, but in Europe in general it has been delayed due to an

EEC agricultural policy based on sugar beet.



The typical composition of a starch based syrup is 42% fructose, 52% glucose
and the balance is maltose and other oligosaccharides. The HFCS market specification is
for syrups containing either 55, 70 or 90% fructose.

Growth of chromatographic processes has been biased towards the batch
mode, although recently a number of continuous counter-current systems have been
developed. The continuous systems however make better use of the available mass
transfer area, offer constant product quality and require no product recycling.

The development of the Semi-Continuous Chromatographic Refiners (SCCR)
has been carried out successfully in this department and such a system (SCCR7) was
used during the separation studies described in this work. It consisted of twelve
columns, each 5.4cm id x 75cm long, and was packed with a cross-linked polystyrene
resin in the calcium form (KORELA VO7C) supplied by FINN SUGAR
ENGINEERING CO. The objective was to optimise the equipment's separating
performance, evaluate the effects of various operating parameters and model its
operation. A barley starch isomerose syrup, supplied also by FINN SUGAR
ENGINEERING CO, was used, and the production of an HFCS meeting the strictest

industrial specifications, was required. These specifications were:

- 90% fructose rich product;
- glucose rich product containing no more than 7% fructose;
- feed throughputs of over 30 kg sugar solids/m3 resin/hr;

- and products having concentrations over 20% w/v.

The separation performance of this preparative scale system would allow an
evaluation of the system's scaling up potential and also provide the basis for the
derivation of a theoretical link between the batch and semicontinuous modes of

operation.



The separation capabilities of the chromatographic equipments and their
potential as reactor-separators has been recognised world-wide over the last twenty
years. A number of researchers have carried out the modelling of such
reactor-separators but their actual applications are limited. In this work it was decided to
investigate the application of a batch chromatographic reactor-separator in carrying out
the biochemical synthesis of dextran from sucrose using the dextransucrase enzyme.
Dextran is a glucose polymer and for many years it has been used in the field of medicine
as a blood plasma volume expander, for the production of iron dextran used in the
treatment of anaemia, and for other industrial uses (2). During its biosynthesis fructose
is produced as a valuable by-product. Fructose has been known to act as an acceptor,
therefore by removing it from the reaction mixture the dextran yield can be improved (3)
and also the fructose marketed separately. A number of 5.4cm id batch chromatographic
reactor-separator systems were used made from glass or stainless-steel and having
lengths varying from 30 to 230 cm.

The objectives of this part of the work were to investigate the effect of scaling
up on the sucrose conversion, and to identify factors affecting it. Because of the
increased enzyme rcqﬁirements in the large scale reactor-separators, it was decided to
investigate and choose appropriate separation processes that would purify the crude
dextransucrase enzyme (supplied by FISONS Pharmaceuticals plc) from the cells and
non-solid impurities. It would also be necessary that the chosen enzyme purification
processes should keep the activity losses to a minimum, offer good process integration

and scaling up potential.



CHAPTER 2

2.0 THEORY OF CHROMATOGRAPHY

The relevant literature to this research work is reviewed in the following
three chapters.

This chapter provides a general introduction to the basic concepts of
chromatography and to the development and scaling up of liquid chromatographic
processes. In Chapter 3 the chromatographic separation of carbohydrates is described,
and some industrial applications are reported.

Chapter 4 is devoted to the development of chromatographic
reactor-separators, the theory and principles involved in the use of such a
reactor-separator for the dextran synthesis, and the application of downstream

processes in enzyme purification.

21 inciple of h

Chromatography can be defined as a separation method based on the
differential migration of solutes through a system of two phases, the mobile and
stationary phase.

The mechanism that determines the regularities of the movement and
spreading of the chromatographic zone can be considered as a continual convective
disturbance of the equilibrium distribution of a solute between the phases and
simultaneously compensating for the deficiencies by diffusion. Separation in
chromatography is due to the different migration velocities of the coponents resulting
from the relative distribution of each component between the mobile and stationary
phases. This can be expressed for each component with the distribution coefficient,
K4;» defined by:

Pj

Kgg =— 2.}

ot



where: p; = concentration of component i in the stationary phase
¢; = concentration of component i in the mobile phase

Although the chromatographic process involves inseparably the processes
of convective transport, diffusion and sorption equilibration, it is the difference in the
distribution coefficients of the components that determines the possibility of the
differential migration along the system and hence the separation. Therefore,
convective transport, diffusion and differences in the distribution coefficients are
inseparable factors in the chromatographic processes, and although they constitute
conditions for separation they also imply a limitation in the separation efficiency.
Geometrical irregularities of the chromatographié bed and the hydrodynamic properties
of fluids result in uneven mobile phase flow velocities and hence to the formation of
velocity profiles.

Due to a finite rate of lateral solute diffusion, the front (sorption) part of the
chromatographic zone during migration contains a certain excess of solute in the
mobile phase, where as the rear part of the zone shows a deficiency in the solute
concentration in the mobile phase. Also, longitudinal diffusion proceeds in both
phases during chromatography. All these factors cause a spreading of the
chromatographic zone. Chromatographic separation however is feasible because while
the spacing between two zones increases linearly with migration length, the
broadening increases only with the square root of migration (4).

Therefore, the efficiency of chromatographic separation depends on the
distribution coefficient differences, the uniformity of the bed and mobile phase, the
speed in establishing a sorption equilibrium and on how slow is the longitudinal

diffusion of the solute in both phases.



2.2 Classification of Chromatographic Methods

2.2.1 Subdivision according to phases employed

In chromatography, the components of the mixture to be separated are
distributed over two phases: the stationary phase and the mobile phase. According to
the nature of these phases we have the general four systems as follows:

1)  Liquid mobile phase - "Liquid-solid
chromatography" (LSC)

2)  Gaseous mobile phase - "Gas-solid
chromatography" (GSC)

I - Solid stationary phase ,

1) Liquid mobile phase - "Liquid-liquid
chromatography" (LLC)

2) Gaseous mobile phase - "Gas-liquid
chromatography" (GLC)

II - Liquid stationary phase !

In this work the liquid-solid chromatographic principle is employed.
2.2.2 ubdivision according hnigues emp]

A further subdivision can now be made owing to the fact that each of these

four methods may, in theory, be carried out by three different techniques, ie.

(a) elution development
(b) frontal analysis
(c) displacement development

A short description is given below, to avoid duplication each case is described with

respect to liquid-solid chromatography.



(a) Elution development - (Figure 2.1(a))

A small sample of the liquid mixture is introduced into the top of the
column. For simplicity the sample is assumed to contain only two components A and
B, where the B is the stronger adsorbed component. After the injection a liquid
(eluent) is introduced, this eluent is not adsorbed or at all events is less strongly
adsorbed than either A or B. The separation of the mixture depends on the relative
component distribution between the two phases. The components migrate through the
bed at different rates and separation occurs. This technique is the most commonly
used and its only drawback is that the strongly retained components travel very
slowly. This difficulty can be overcome by successively using eluents with increasing

affinity for the adsorbant or by "gradient elution"” (5).

(®) Frontal analysis (Figure 2.1 (b))

A sample is introduced into the column continuously. The less strongly
adsorbed A migrates faster and is eluted pure, until the accumulated strongly adsorbed
B eventually breaks through together with some of the newly introduced A, after
which there is no separation. Because of the obvious limitations of this principle,
frontal analysis can be advantageous when the segregation of a powerfully adsorbed
minor component from a bulk mixture is required. Tiselius (6,7) and Claesson (8)
have used this technique for analysis by recording the changes in concentration as the

fronts of material leave the column.

(c) Displacement development (Figure 2.1 (c))

In this technique the mobile phase is retained more strongly by the

stationary phase than any of the components in the sample. The separations obtained
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are purer than elution chromatography but increased sample loading can be applied (9,

10).

2.2.3 Modes of chromatographic operation

As described, the chromatographic separation is a result of the different
migration velocities of the components. The means of achieving this differential
migration is referred to as the "mechanism of retention", and there are generally four

such types as follows.

(@) Exclusion chromatography, where separation is based on a non-ionic

molecular-sieve effect and the solute separation depends on differencies in their
molecular size, (otherwise known as gel permeation chromatogaphy). The smaller
molecules penetrate the porous matrix of the packing and are retarded, while the larger
are excluded and flow in the void volume around the packing particles and are eluted
first. The origin of the method dates back to the early 1950s (11, 12), however, the
main incentive for its rapid development was the publication of a fundamental paper by

Porath and Flodin (13).

(b) Ion exchange chromatography, involving a continuous reversible exchange

of ions between electrolytes and the ion exchangers. Separation is achieved through
the different affinities of the solute ions in the multicomponent sample for the charged
resin. Jon exchangers and their properties have been described in thousands of
publications and a selection of the most important contributions since the 1960s is by
Dorfuer (14), Helfferich (15), Paterson (16), Samuelson (17) and Genge (18).

The ion-exchange chromagraphic principle was employed in the separation

studies carried out in this work..



(c) Adsorption chromatography, where separation is effected by a physical or

chemical association formed between the solute and the active sites on the stationary
phase, and do not involve ion exchanging, ie. physical association (physi-sorption) if
the heat of reaction is between 15-20 kcal mole-! (19), or chemical association

(chemi-sorption) if the heat of reaction is between 20-30 kcal moleL.

(d) Partition chromatography, which is how liquid-liquid chromatographic
processes are usually referred to. The separation relies on the absorption of solutes by

an inert solid support coated with a liquid stationary phase.

Some chromatographic separations are achieved by employing two or three
of the above mechanisms, which presents a difficulty in classifying such a separation.
Such a separation is the "affinity” chromatography or more appropriately bioaffinity
chromatography. This technique is employed for the isolation of biologically active
substances, making use of their exceptional property of selective and reversible
binding of other substances, for which Reiner and Walch (20) introduced the term
"affinant". An affinant can therefore be considered as a special case of a ligand. If an
insoluble affinant is prepared, usually by covalently attaching to a solid support, and if
the extract containing the biologically active component to be purified is passed
through this column containing the above material, then all substances which possess
no affinity for the given affinant pass directly through the column with the eluent. The
specifically adsorbed component can then be eluted either by a soluble affinant or by
changing the solvent composition in such a way as to cause the dissociation of the
complex of the isolated substance with the bound affinant. This is usually achieved by
changing the pH, or ionic strength or temperature, or by adding appropriate reagents.

This separation technique is developing fast and has great potential in Biotechnology.

10



2.3 entals of ion-exchanee Chromatoeraph

2.3.1 ic principles and the characteristics of ion-exchang

An ion exchange particle consists of a porous matrix and electrically charged
covalently bound functional ionogenic groups. Ion exchangers can be divided into

four main groups according to the composition of the matrix:

(a) inorganic exchangers, based on aluminium silicates and other suitable
minerals;
- (b) synthetic resins of many types;
(c) ion-exchange cellulose;
@ ion-exchange polydextran

There are five principal classes of functional groups and hence exchangers can be

subdivided further as follows:

(1) cation exchangers;

2) anion exchangers;

3) amphoteric and dipolar ion exchangers;

4) chelating ion exchangers; i
(5) selective (or specific) ion ¢xchangers.

In this work a cation exchange synthetic resin (cross-linked polystyrene in
calcium form) was used. The separation depended on the formation of weak
complexes between the fructose molecules in the carbohydrate feedstock and the
calcium ions of the resin. The principle of the ion-exchange process can be
demonstrated by considering the migration of a solute ion (I*) through a cation

exchange bed. The mechanism is as follows:

il



R=H*+1F =——= R+ «RH*

The forward process is called adsorption and the reverse desorption and the
equilibrium is governed by the concentration of the solute ions and the relative
affinities of the ions for the exchanger.

The ionic form of commercial exchangers is usually indicated by the
manufacturer. Both cation and anion exchangers are classified according to the nature

of the active groups, ie:

[on Exchanger Type Usual Functional Group
Cation exchanger Strongly acidic Sulphonic
Medium acidic Phosphonic
Weakly acidic Carboxylic
Anion exchanger Strongly basic Quaternary ammonium
Medium basic Mixture of tertiary and
quaternary ammonium
Weakly basic Amines, polyamines

Synthetic ion exchangers are the most commonly used in chromatographic
processes. These resi‘ns are solid insoluble high molecular weight polyelectrolytes,
consisting of a three-dimensional matrix with large numbers of attached ionizable
groups as mentioned above. These matrices are produced by polymerization of
styrene cross-linked with itself and with divinyl-benzene (21).

The degree of cross-linking is very important in chromatography and
defines the average porosity of exchangers. The process of cross-linking is easily
controlled and in industrial resins it varies from 1 to 16%. The more cross-links
present the less an exchanger swells. Swelling is known to disturb the
chromatographic operation especially when resins of low cross-linking are used. In
addition to that, although the lower cross-linked resins exchange ions more rapidly,

they are less selective.

12



Inorganic exchangers were the first materials used in the initial stages of the
development of ion-exchange systems (21). Among the naturally occurring
exchangers, increased interest is shown in the use of zeolites (aluminosilicates) due to
their substantial mechanical, thermal and chemical properties. Currently zeolites with
controlled properties are prepared synthetically thus increasing their applications. A
more detailed description of the synthetically formed zeolites has been carried out by

Abusabah (22).

232 Properties of Ton-exchangers

The choice of an ion-exchange resin for a particular application is influenced
by a number of properties, as follows.

Capacity. The capacity of an ion exchanger is a measure of the total amount
of ions the resin is able to bind and is usually expressed as milliequivalents (mequiv)
per gram of dry resin (in the H* or ClI” form), or as mequiv per miliilitre of fully
swollen wet resin (in the H* or ClI” form) in the bed. Factors that influence the
available capacity are concentration and ionic strength of the clﬁcnt, pH, temperature,
the accessibility of functional groups and the nature of the counter-ions.

Affinity. Affinity is the degree of adsorption of a solute ion by the
exchanger. Ion exchange is, generally, a reversible process and therefore an
equilibrium is obtained. This equilibrium depends not only on the relative affinities of
ions for the exchanger, but also on the relative ionic concentrations. Therefore, ions
of a low affinity for the exchanger can regenerate it and replace ions of a greater
affinity, if the former are present at a higher concentration.

The affinity of ions for an ion exchanger is sometimes called the

"ion-exchange potential" and in dilute aqueous solutions it increases with the size of

13



ionic charge. Polyvalent ions are more strongly bound than monovalent ions, the
affinity being proportional to the charge. For ions of the same charge, the exchange
potentials are inversely proportional to the radius of the hydrated ions. Because the
radii of many cations are inversely proportional to their atomic weights, the affinities
of these cations can be arranged in order of atomic weights. The composite affinity

sequence for some common cations is:

Lit < Nat <NH + <Kt < Ag?
Mg?+ < Ca?+ < Sr2t < Ba?+

Fe2t < Co2t < Ni?+ < Cu?t < Zn?+

and for some common anions:

fluoride < acetate < chloride < bromide < iodide

A measure of the affinity is given by the affinity coefficient:
XAYA

Xp/YR

where XA and Y, are the concentrations of the ion A in the solute and resin

respectively and Xp and Yy are the corresponding ones for ion B.

Nature of the resin. This includes the extent of cross-linking and the
particle sizes. The extent of cross-linking and the resulting swelling were mentioned
earlier. Particle size and particle form are important characteristics of ion exchangers.
The particle size determines how quickly equilibrium is established and influences the
sharpness of a chromatographic separation; the smaller the particle the sharper the

separation. If the particles however are too small the flow resistance increases and

14



higher pressures are required. The particle form is also important. The particle must
offer gdod mechanical properties, increased resistance to deformation and attrition, and
chemical stability.

Ion-exchange reactions of simple ions are best described in terms of an ionic
redistribution between the ion-exchange resin and the mobile phase. These reactions
are always stoichiometric because the electroneutrality of the resin must be maintained.
As no covalent bonds are formed or broken during this process, there is little heat
evolution or absorption accompanying ion exchange. This is one of the strong
advantages in employing the ion-exchange principle; the only exceptions are
neutralization reactions involving a cation exchanger in the H* form or an énion
exchanger in the OH™ form, in which the formation of low-dissociated water is the

source of heat.

2.4 Chromatographic Concepts and Definitions

When a multicomponent mixture travels along a chromatographic column a
gradual separation occurs according to the relative affinities of th:f: components for the
packing. If the concentration of the product stream is detected and plotted with time a
profile similar to that of Figure 2.2 (for three-components) should be obtained. Such
concentration-time profiles are usually called "chromatograms". In Figure 2.2
component A is the least retarded and C the one exhibiting the strongest affinity for the
packing.

The retention time (or elution time): is the average time a component takes to

migrate along the column and is measured to the mid-point of the elution curve, ie.

Ra RBs IRC-

15
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The retention volume: is the volume of mobile phase required for the
complete elution of a component, and is obtained by multiplying the retention time by

the mobile phase flow rate.

The relation between the retention volume, V;, and the distribution

coefficient, K 3;, for any component i is given by (23):

Vi = VO + Kdi VS veerrnne 2.3
where:
Vo= total void volume in column occupied by the mobile phase, and is usually

defined with the elution volume of a totally excluded macromolecule.

V= volume of the stationary phase = V-V

Vo= total empty column volume

The model was developed initially for gel permeation chromatography and it
has been generalised for other chromatographic processes by Kirkland (23).

Capacity factor: a measure of the time the solute i spends in the stationary
phase relative to that in the mobile phase, and is defined by:

VS
k=Kgg — 2.4

Vo e

Resolution: the resolution, Rs, is a measure of the degree of separation and

is defined (for components B and C in Figure 2.2) by:

2 (tgc - trB)

(We+ Wpg)

17



where:

tp; = retention time of component i
W; = peak width at the base of the elution curve of component i (in time units)

Alternatively equation 2.5 can also be expressed in terms of elution volumes.

It has been derived for symmetrical peaks, and for a Gaussian band the peak
width can be taken as 4 ¢, where o is the standard deviation of the Gaussian
function. From this equation it is apparent that the separation efficiency increases with
increased retention time differencies and with reducing band widths (ie. minimum
broadening).

Purnell (24) developed a resolution relationship relating fundamental

parameters as follows:

1 o-1 kc
Rs= — ( )( )M)W X

o= = separation factor

k. =  capacity factor of the most retarded component C
NTP = number of theoretical plates in the column

Since NTP is proportional to the column length, the extent of resolution is

proportional to the square root of the migration distance. For Rg values over 1

adequate separation can be expected while for R¢ over 1.5 it can be complete (25).

18



2:5 T tographic Models and th nd Br ni
2.5.1 General description

The important processes prevailing in a chromatographic column, such as
adsorption or absorption equilibria, mass transfer between the two phases, diffusion
and convection, can be expressed more or less accurately in mathematical terms. A
general and exact treatment however leads to excessively complicated mathematics and
models requiring the evaluation of a large number of parameters. By introducing
simplifying assumptions various theories of arguable validity are obtained which
nevertheless help in explaining the important chromatographic phenomena, such as the
movement of bands of solute through the column or the dispersion of these bands, and
have been proven valuable in the practical development of chromatography.

When a narrow feed band is introduced into a chromatographic column it is
subjected to non-uniformities of flow, diffusion spreading, and variations in the rate at
which the solute is redistributed between the two phases, which result in broadening.
The extent of broadening has a direct effect on the separation and must be kept to a
minimum. The nomenctlature used in reporting chromatographic band broadening is
quite varied, ie. a number of near synonyms are used such as peak broadening, zone
spreading, and axial, longitudinal or column dispersion.

A review of various concepts and mathematical models developed to
describe the band broadening has been reported by Giddings (26). The more popular

of these are the "theoretical plate concept” and the "rate theory".

2.52 lassification of Chrom hic Theori

The simplified theories of chromatography can be classified according to the

assumption that one or each of the two conditions mentioned below prevails (27, 40):

19



D Linear or non-linear distribution isotherm;

) Ideal or non-ideal chromatography. In ideal chromatography the exchange
process is thermodynamically reversible, the equilibrium between the two
phases is immediate, ie. infinitely high mass transfer coefficients, and
longitudinal diffusion can be ignored. In non-ideal chromatography these

assumptions are not made.

Therefore, there are four possiblities:

(1) Linear ideal chromatography. This is the simplest case where the separation

depends upon the solute distribution in the two phases and the ratio of the amounts of
these two phases present (28). The shape of the band during its migration therefore

remains unchanged.

2) Non-linear ideal chromatography. It accounts for the effects of
non-linearity of the isotherm but assumes fast mass transfer and neglects the effects of
longitudinal diffusion (28, 29). The band during its migration usually develops a

sharp front and a long tail, making the theory less suitable for elution chromatography.

(3) Non-linear non-ideal chromatography. The elution bands are broader and

distinctly asymmetric, without any sharp fronts or tails. A very involved mathematical

modelling of this theory has been carried out by Klinkenberg and Sjenitzer (35).

4) Linear non-ideal chromatography. In this case the band broadens during
migration almost symmetrically in a Gaussian manner. This theory is usually dealt

with in two ways:

20



- by assumng the chromatographic column as a series of large number of
theoretical plates, as in extraction or distillation, ie. the "plate theory" or

"theoretical plate concept” (1, 30, 31).
- by visualizing the column as a continuous medium where mass transfer and

diffusion is accounted for, ie. the "rate theory" (27, 32, 33, 34).

A more detailed description of the "plate" and "rate" theories is given in the following

sections.

2.6 The "Theoretical Pl aitc" Concept

A continuous countercurrent process, such as distillation and extraction,
may be carried out in a series of discrete stages, each constituting an elementary
process where perfect equilibrium exists between the opposed phases. Such a stage is
known as a "theoretical” stage or plate. In a packed column, however, the phases are
continuously in motion and complete equilibrium is impossible to be established. In
such proccsscé, the length of the column over which the separation is achieved is
equivalent to that of a theoretical plate is usually referred to as the "Height Equivalent

to a Theoretical Plate" or "HETP".

In the "theoretical plate" concept the chromatographic column is visualised
as being divided into a NTP number of adjoining separation zones of "plates", with
each zone having such a length that there can be complete equilibrium of the solute
between the two phases. The "plate" concept has been proven useful in
chromatography where complete equilibrium cannot be achieved due to the continuous
movement of at least one of the phases. This is a simplified phenomenological
approach where the band broadening in a chromatographic column is explained by
random fluctuations around the mean retention volume by a simulated partitioning

model. The plate concept was first applied to liquid chromatography studied by Martin



and Synge (1), and because of its simplicity and relatively good accuracy it has been
developed further and found useful in both liquid and gas chromatography (36, 37).
The mathematical modelling of the "plate” concept indicates that the peak shape is that
of a binomial distribution, and for the usual large number of plates in chromatographic
columns (NTP > 50), it becomes indistinguishable from the Gaussian distribution

function (38), ie.

Vo- Vi)2
C=Cyexp|-—mm™—™——| 2.7
2 02
where:
C is the solute concentration
Co is the concentration at the peak
Vo is the mobile phase volume
Y; 1s the retention volume of solute i
o2 is the peak variance in units of volume

Since the band width is represented by the variance, the square route of the
variance (standard deviation, ¢), is proportional to the peak's width, W;, which is

usually equal to 40, (Section 2.4). Therefore, equation 2.7 can be rewritten in terms

of the number of plates, NTP, as:

NTP (V, - V;)?
C = Cyexp|r ——™ 2.8

Vi

Therefore, the relationship between the number of plates in a chromatographic column,

NTP, the variance, column length, L, and solute retention volume is as follows:

2
Vi

NTP = e 2.9

0%’

and



Glueckauf (31) using a similar approach has related the elution time, tg;, and the

variance to the "apparent” number of theoretical plates, N*, (see Section 2.8) in the

following form:

'[Ri 2
N* = 8( ) ........ 2.11
Whie

where the band width, Wy, was measured at a height equal to the peak height, h,

divided by the base of the natural logarithm, e, (Figure 2.2). Summarising, the

predictions resulting from the general "plate" theory are:

- a Gaussian peak shape (eq. 2.7)
- the peak width increases linearly with retention volume, (eq. 2.9)

- a linear increse of NTP with column length (eq. 2.10).

Although the "plate" concept is widely accepted because of its relative
simplicity, it does not account for the effects of mobile flow rates, the nature of the

stationary phase, the uniformity of packing, and the kinematic processes occurring

within the column.

2'7 (1} t "

For dispersion effects that involve simple flow and diffusion processes,

exact expressions for the "height equivalent to a theoretical plate”, HETP, otherwise
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known as "plate height", H, can be derived from rigorous mass transfer differential
equations from the rate theory approach. The initial version, incorporating in a
combined form the effects of mass transfer and longitudinal diffusion, was developed
by Lapidus and Amundson (32). Van Deemter et al (27) modified the model further
to account, in addition to the rate of mass transfer between the phases and longitudinal
diffusion, for the effects of flow behaviour on the history of a band in the column and
for rate of adsorption or chemical reaction. For a general discussion of the effect of

flow rate on plate height, H, the Van Deemter equation can be simply represented by

(39):
B

H=A+—+C . 2.12
a .

Where

U= mobile phase velocity

A= eddy diffusion term

B= longitudinal diffusion term

C= mass transfer term

A well known graphical representation of the parameters in equation 2.12 is

shown in Figure 2.3. The solid line in Figure 2.3, which is the sum of all three

dispersion processes, shows a minimum in plate height (Hp,;,) which corresponds to

the "optimum" velocity (uopt); at this velocity the column has the maximum separation

efficiency. The C term in the equation is the sum of the contributions from three

possible processes:

@) from the extraparticle effects (C, term)

(b) from stagnant mobile phase effects (Cgp, term)

(c) from conventional liquid chromatography stationary phase mass transfer

effects involving the basic sorption processes (Cg term).
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Therefore the expanded Van Deempter equation is:

B
H=A+ —+ Cmu+Csmu +Cgu 7 vereenes 2,13

u

This equation predicts a linear increase of plate height with increasing
mobile phase velocity at high mobile phase velocity regions (Figure 2.3) while in
practice it has been found to taper off (39). This could be explained by the Giddings
coupling theory (26). The coupling theory (for Random Walk Theory) is in contrast to
the assumed independence of the eddy and lateral-diffusion terms used in the classical

plate height theory. Therefore the plate height equation incorporating the coupling

theory is:
-1
B 1 1
H=—+Cnu +Cu + —_—G — ] e 2.14
u A Cmu

This theory is generally considered theoretically more sound than the
classical Van Deemter expressions. However, it should be noted that the focus of the
liquid chromatography coupling theory is on extraparticle dispersion effects. A more
detailed plate height equation with explicitly expressed dependence on packing particle

size and solute-diffusion coefficients, is (26, 41):

Dy, ud.p2 udfz 1 Dy,
H=b—+ ¢4y + Cg + + —] ... 2.15
u D¢m Dg adp cmuclp2
Where
= particle diameter of resin
de= film thickness of the liquid chromatography stationary phase
Dp,,Dsm,
D= solute-diffusion coefficients corresponding to extra-particle, stagnant mobile

phase and stationary phase respectively.
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a, b, ¢y,
Csm and

Cg = the coefficients of the respective terms in the plate height equation.

The rate theory is a proper theoretical approach for chrométographic design
considerations, and is of increased accuracy since it incorporates the effects of the
kinetic phenomena that exist in practice. However, its general application is limited
because of the need to evaluate a number of parameters (ie. diffusion coefficients, and

coefficients related with the terms A, B and C) for every application.

2.8 Evaluation of th ion Efficien nting for the Effect of Feed
Band Broadening
Glueckauf (31), using the "theoretical plate" approach and assuming a linear
isotherm, developed the following equation giving the "apparent" number of

theoretical plates, N*, for a chromatographic column:

tRi 2
N* = 8 wss B d D
Whie
where:
R = retention time for component i

Wy/e = peak width evaluated at a height h/e (Section 2.6 and Figure 2.2)

This equation however is suitable only for narrow feed-bands. In practice, however,
wider feed-bands exist and it is necessary to estimate the effect of the width, to
calculate the "true" number of theoretical plates, N, for the actual conditions. The
problem was dealt with previously by Van Deemter et al (27) but the Poisson
distribution functions used did not lend explicitly to ways of obtaining the HETP and
N values for wide feed bands.

Glueckauf (42) modified his initial theory to accommodate for wide feed

bands and obtained the following relationship:
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P 7P2 0.0765 P3
N =N*[1 + — + + e 2,17
3 45 1-0.565P

and
uZN* N, 2 N*
P = = \—] — v 2,18
4 N <

Where
P= is a system loading related parameter and is an indication of the applicability

of equation 2.17. Equation 2.17 is accurate for up to P < 1.6.

No
0= ——, afeed band ratio

N

N, = number of plates occupied by the feed band
N* = "apparent” number of theoretical plates (obtained from equation 2.16)

As the width of the feed band increases it increases the band broadening and
-leads to band overlapping. Therefore to obtain the required separation more theoretical

plates are needed than the ones found at narrow feed bands.
2.9 E ffecting the Scaling up of the Chrom hi tem

In this section attention is directed to experimental parameters that can affect
peak broadening and hence the sepération. Chromatography has been accepted as an
invaluable analytical tool, and its great separation potential has led many workers into
scaling up. Therefore the factors affecting its scaling up must be identified and
accounted for. Pure packing techniques result in uneven velocity profiles that cause
increases in the plate height, ie. the general Van Deempter equation becomes:

B

H=A+ — + Cu + He 5o 2.19
u
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where Hc is the height contribution due to uneven velocity profiles.

‘Giddings (43) expressed the parabolic profile as:

ru

Ho=G——— e 2.20
YDm

Where:

r = column radius

G = constant

1 o= mobile phase velocity

y = radial Labyrinth factor

D, = solute diffusivity in mobile phase

This correlation is found to give good agreement with experimental results

for 0.6 to 5.1cm (45) and 7.5cm (46) column diameters.

Bayer et al (44) assumed a concave profile and expressed Hc as:

£0.58

Hc = 2.83 W— ........ 2.21

Good agreement was obtained for columns between 1.3 and 10.2cm diameter.

Pretorious et al (47) suggested a W-shaped profile and developed:

1 d d%u-
He = exp |~-—— ||l——— | . 2.22
100 10d, 1L 2D, 4,

column diameter
particle diameter

solute radial diffusivity

__CF-Q-
mn

Il

Dy
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The effect of column diameter on separation is arguable. With increasing
column diameter obtaining a well packed column (ie. uniform and of minimum
voidage) becomes increasingly difficult which has a direct effect on separation
efficiency. As the column size increases however, the "dead" volume and "wall"
effects become less significant. Therefore, the subject is debatable, with the majority
of opinion indicating that there is a loss in efficiency during scaling up.

The estimation of the number of theoretical plates required for a given
separation (Section 2.8) has been carried out operating in a batch chromatographic
column. In production scale operations however the necessity for increased
throughputs requires the employment of techniques such as repetitive feed injections
increased feed charges and concentrations, for batch systems, and increased flow rates
and feed concentrations for continuous systems. These, in practice, result in
overloading of the chromatographic system and have an adverse effect on the
separation efficiency. The employment of repetitive injection (50) has an additional
effect due to the band overlapping and should be accounted for. Equations 2.16 and
2.17 have been developed for a "once through" operation, and although they do not
allow for repctitiv;: injection, they provide a useful means of comparing the efficiency
of various chromatographic systems. Their application has been extended in
determining the separation efficiency of continuous systems by characterising each
column in such systems in batchwise mode. This approach is considerably effective,
however there is a strong need for developing similar relationships that apply directly
to the continuous mode of operation.

The Van Deemter (27) and Giddings (26) models have been developed
assuming a linear isotherm. In practice however as the concentration increases the
solute distribution between the phases becomes dependent to the concentration changes

and deviations from ideality occur. Helfferich (48) modified the retention volume

equation (eq.2.3) to account for the concentration effects, ie:
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dpi

Vl ) VO -+ v S Sm—— e Ry 2.23
dci
rearranging,
dp; Vi-Vo
= — e 2.24
de; Vs
where:
p;= solute concentration in stationary phase
Ci= solute concentration in mobile phase

“The curve representing this function is the absorption isotherm, applicable at
constant temperature. Vermulen (49) describes the Langmuir or "favourable" and
Anti-Langmuir or "unfavourable" isotherms (Figure 2.4). Because of the adverse
effects of the operating conditions, such as feed charge size, flow rates and
concentration, on the separation, in production scale chromatographic processes a
comprcmise has to be reached based on an economic assessment.

2.10 n j t T
tion cienc i Scaling

Theoretically, optimum resolution is obtained with the smallest possible
average particle size, of a minimum size range. The selection of the proper resin
material for a given application is also very important. In practice however the
increased pressure drops due to the small particle sizes, and resin availability lead to a
compromise. The resin particles should also exhibit good mechanical properties and

chemical resistance.

In chromatographic columns the force exerted on the lowest part of the bed
is the sum of the weight of the packing and the drag force acting on it minus the
friction force of the column wall. The drag force on the packing material is directly

proportional to the total surface area, the eluent viscosity and the velocity of flow past
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Figure 2.4: Absorption isotherms

Langmuir or
"favourable"

Anti-langmuir
or "unfavourable"
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the surface. In column diameters over 20cm (51) the stabilizing influence of the
column walls may be neglected. Therefore, in large scale applications to minimise the
forces exerted on the bed, and especially when soft gels are used, a series of shorter
columns should be employed instead making up the total length, and interconnected
with small bore pipes. This arrangement reduces the presure differences across any
section of column, it reduces the problems associated with the location of tall columns,
slow moving components can be removed at intermediate levels, permits better and
easier packing of each column and independent repacking of any section of the system.
This approach however also has its limitations. It requires a means of redistributing
the mobile phase properly, and increases the "dead" volume of the system.

A number of alternative approaches have been proposed to overcome this
problem of bed compression and attrition. One is to support the compressible particles
by mixing them with incompressible inert ones (52). This however results in reduced
volume capacities and resolution.

An alternative is to support the column packing material with various
insertions such as coarse stainless steel meshes or extra walls as concentric tubes (53,
54). This however results also in reduced packing efficiencies. A further
development is to divide the column into sections using porous plastic sheets, inserted
at short intervals above each other (55). This however can lead to the formation of
empty spaces beneath the meshes due to successive packing and compression of the
bed material, leading to zone mixing and reduced resolution.

In large columns the wall effect is reduced; it has been found that it can
influence the flow pattern of up to approximately ten particle diameters away from the
wall. Increased difficulties however in obtaining a uniform packing of large columns,
result in the formation of velocity profiles. A number of flow distributors and baffles
(56, 57, 58) have been introduced in chromatographic columns to overcome this

problem. These however, present similar problems with the packing support insertions
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mentioned above, and present increasing difficulties in backflashing the system for
cleaning and during regeneration.

Therefore, the best way to overcome the problem is by preventing it
happening, ie. by employing an efficient packing technique, to give uniform packing

and minimum void volume.

2.11 Column Packing Techniques

A number of alternative packing techniques have been developed classified
as dry packing or wet (slurry) packing, with the second being more popular. A
comprehensive description of various techniques employed in gas chromatography has
been reported by Higgins and Smith (59). Bayer (44) introduced mechanical tapping
and vibration to improve packing efficiency.

Slurry packing techniques include bulk pouring, pouring under vacuum and
bulk pouring with vibration. In slurry packing segregation tends to occur, and the
introduced particles tend to flow downwards as a unit, which can lead to separate layer
formation. The p‘acking of the column in practice is a rather empirical process, and
different users use their own variations.

The columns used in this work were packed by employing slurry packing
under vacuum. The resin was introduced at the top, as a 50:50 slurry, and some

column vibration was applied.

2:12 rating Techniques Emploved in Continuous Chromatographyv
To increase the throughputs in production scale batch chromatographic

systems the repetitive feed injection technique is employed. This results in band

overlapping and reduced purities, and to overcome this, the overlapping fraction is
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recycled. This recycling, which can be up to 40%, apparent in batch processes has
directed interest towards the use of continuous ch}omatographic processes, which
offer greater effective throughputs, and uniform product quality. Continuous
processes fall into two broad categories, the cross-current and counter-current flow
proceses; defined according to the relative movements of the mobile and "stationary"

phases. Figure 2.5 shows a concentration profile for a two component mixtrure, B,C,

where C is the retarded component.
2.12.1  Cross-curren tinuou mat h

In cross flow systems the "stationary” phases moves perpendicularly in the

direction of the mobile phase. A number of such systems have been developed and

can be subdivided into two categories.

2.12.1.1 Moving annulus systems

This type of process was first suggested by Martin (60) who proposed the
use of a rotating annulus packed with chromatographic packing. The annulus rotates
through a fixed inlet point. Mobile phase is introduced continuously at the top all the
way around the annulus and leaves at the bottom. The components travel in helical
paths around the annulus at different angles according to the relative affinities for the
packing and are eluted at different points, with the strongly retarded component
travelling along a longer helical path. Theoretically, this arrangement can provide
continuous separation of a multicomponent mixture. Such systems have been
constructed by Svensson (61) and Fox et al (62, 63). The Fox et al system was

30.5cm long and the inner and outer cylinder diameters were 27.3 and 29.2cm

respectively.
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2.12.1.2 Moving Column - Open End Systems

Such systems consist of a circular array of parallel tubes rotating through a
fixed top inlet and stationary product receivers at the open bottom ends. Toramasso
and Dinelli (64) constructed such a system consisting of 100 tubes each of 6émm dia
and 1.2m high. Similarly designed systems have also been reported by Turina et al
(65). In these systems although the unit as a whole rotates, they are effectively a
series of batch columns where in each one the mobile phase flows along a fixed
stationary phase. The same effect can be achieved using a large batch column, a timer
and a switching valve and collecting the eluted peaks separately over a number of short
time periods. These systems are therefore of increased complexity with no practical

significance.
2122 ter-c i T gra

Although some cross-current systems have been found to operate
satisfactorily on 2 small scale, their sealing up potential is limited due to méchanical
difficulties associated with the rotary movement, problems in achieving perfect scaling
between the moving parts (especially in the botton open ends), packing compressibility
and attrition. Because of these limitations of the cross-current systems, a number of
counter-curent processes have been developed and can be classified according to the

principle they employ to obtain the counter-current movement of the two phases.

2.12.2.1 Movine Bed Systems -

In these systems, the packing flows under gravity countercurrent to a stream

of mobile phase flowing upwards in a column. When the feed mixture is introduced
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into the centre of the column, the least strongly absorbed component is carried
upwards and exits from the top, and the retarded component is carried down the
column and stripped from the packing at the bottom column outlet. Barker and
Critcher (66) used a 2.5cm dia x 2.79m long system to separate an azeotropic mixture
of benzene and cyclohexane. Such an indusrial process is the Hypersorption Process
developed by the Universal Oil Co, California, (67, 68) using a 26m high x 1.4m

diameter column.

Moving bed processes however have been found to suffer from the

following problems.

- difficulties in achieving solid control at increased scales
- low mass transfer efficiencies due to uneven packing
packing attrition due to the increased shear forces, and packing entrainment

- relatively low mobile phase velocities to prevent fluidisation.

2.12.2.2. Moving Column Systems

To overcome the above problems various equipments have been proposed
which employ a circular array of parallel columns interconnected to each other. The
system rotates past fixed inlet and outlét ports. A number of such systems have been
developed (69, 70, 71, 72) and there has been considerable success in the analytical
field (small scale). Scaling up however is difficult because, like in the cross-flow

systems, there are increased difficulties in achieving a reliable mechanical seal between

the static ports and moving columns. -
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2.12.2.3 Moving Feed Point Systems

This technique is an intermediate one between conventional batch and
simulated countercurrent systems. Wankat and Oritz (73) used such a process to
separate dextran 2000 from cobalt chloride in water. The system consisted of a series
of fixed columns. The mobile phase was pumped continuously through the inlet in the
top column and the feed was introduced as a long pulse. The first feed pulse was
introduced into the first column, then after a predetermined time period into the second
column and so on. This continuous feed switching was controlled by a rotary valve
and a timer. The switching period was chosen so that the average velocity of the feed
ports advancement was between the migration velocities of the least and the more
strongly adsorbed components. This technique has been found to be more efficient
than the batch processes, but less than the simulated counter-current processes, since it

only utilizes part of the total adsorbent packing in the system at any time.

2.12.2.4 Simulated Moving Bed Svstems

These systems offer the greatest potential since they make better use of the
available mass transfer area, and therefore better separation efficiencies and
throughputs could be achieved.

All such system employ a number of static interlinked columns or
compartments and the countercurrent movement is effectively achieved by sequentially
moving the inlet and outlet ports in the direction of the mobile phase.

There are two main approaches. The Universal Oil Products (USA) Sorbex
Technique (74, 75, 76) and the Semi-Continuous-Chromatographic-Refiners (SCCR)
(77, 78).

In a typical sorbex process the stationary phase is packed into the
compartments of a static vertical column. Each compartment is connected to a

specially designed rotary valve operating on the principle of a multiport stopcock.
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This technique has been applied for over fifteen years for hydrocarbon separations.
Because of its design, extra care must be taken to overcome the problems associated
with packing compressibility. It requires a very precise design of the main rotary
valve and it does not offer the flexibility of repacking part of the system separately. A
flow sheet of a variation of this process, applied in the separation of carbohydrates, is
shown in Figure 2.6.

A similar technique was employed by Szepesy et al (79). They also
employed a master rotary valve but used twelve glass tubes instead, each 30cm long
and 1.4cm id, connected elliptically to each other by metal fittings.

Experience gained on the unreliability of large flat face moving seals, and
the awareness of the limitations associated with the various alternative techniques
mentioned above, led Barker and co-workers to develop an alternative technique to
simulate the countercurrent movement of the two phases. They developed the
"moving port" multicolumn system (SCCRs) whereby all moving parts were
eliminated by using valves of proven commercial reliability. The countercurrent
movement was simulated by the simultaneous closing and opening of the appropriate
valves, connected to the ports of each column, in the direction of the flow of the
mobile phase. These systems have been scaled up to ten columns, each of 10.8cm id
and 75c¢m long.

A system employing this technique was used in this work and a detailed

description is carried out in the following sections.
2.13 uction Scale Chromatographic Processes in rati

The scaling up of the chromatographic process has been in progress since
the early 1950s. During the first period the development was concentrated on the
scaling up of batch gas chromatographic columns. Very soon though, increased
interest was directed towards the scaling up of continuous counter-current

chromatographic systems, employing the operating techniques described above. The
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potential of chromatography has made the developers very secretive and
comprehensive information about the individual developments is hard to come by.
Some of the most popular large scale systems in operation are reviewed here, with the
exception of the systems employed in carbohydrate separation which will be described

in the next chapter.
2.13.1 atch m

During the 1960s ABCOR (Boston, USA) pursued the scaling up of batch
systems. Gas chromatography units of up to 2m id were used for the separation of
alpha and beta pinenes (80), and there was talk of scaling up to 5m id and 50m long
(81). After forming a partnership with Boehringer and Sohne (major German drug
makers), they were considering also using similar systems in the liquid
chromatographic mode for the purification and separation of biochemicals (82). Abcor
and Boehringer columns have used packing materials such as aluminas, silicas and ion
exchange (cross-linked polystyrenes) resins.

Pharmacia Fine Chemicals (Sweden) market purpose built chromatographic
columns of various sizes. They offer a wide range of packing materials. They are
promoting amongst others a cross-linked dextran polymer gel under the trade name of
Sephadex with wide filed of application. Sephadex packed columns of up to 180cm
dia have been used for the separation of milk protein from whey.

The French petrochemical company Elf-Aquainte has showed an active
interest in batch chromatography. They have built a number of large scale gas
chromatography and liquid chromatography plants. In 1979 they installed a large
production scale gas chromatography plant in Jacksonville, Florida, USA. The
system was used to manufacture perfume ingredients and flavour chemicals from

terpene feedstocks. It consisted of a 40cm id x 150cm long column producing 10-15kg
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of product per hour with claimed purities up to 99.995% (83). In 1982 a 100000
tons/year plant was to be built in Donges, France (85) producing a fuel base and an
n-paraffin cut that serves as a feedstock for an isomerization unit converting normal
paraffins to isoparaffins. The company also offers standard units, for the purification
of flavours and fragrances, with capacities from 3 ton/yr to 300 ton/yr (86). Over the
last decade a number of other companies (84), such as Waters Associates Inc (Mass,
USA) and Instruments SA Inc, (NJ, USA) Market preparative liquid chromatography

batch systems of different sizes and for a wide range of applications according to the

customers requirements.

2.13.2  Continuous Systems

The inherent advantages and potential of continuous countercurrent
chromatographic systems resulted in increasing their applications in production scale
operations.

The Hypersorption Process. One of the largest earliest applications of large
scale ch:omatografhy waé by Universal Oil Products Co (California, USA) with its

hypersorption process for the separation of ethylene from hydrocarbon vapour streams
(67, 68) with production rates of up to 4.5 x 105 m3 per day of ethylene.
The Sorbex Process. The next major industrial application of

chromatography came again from Universal Oil Products (UOP) Co (USA), who were
motivated by the limitations of the moving bed hypersorption process (Section
2.1.2.2.1) developed the sorbex process (Section 2.12.2.1). It is believed that over
40 UOP plants operate world wide employing the Sorbex technique with a total
capacity approaching 4 million tons/year, and most of these plants are used for

hydrocarbon separations. According to the particular application, the Sorbex process

employed was given an alternative name, ie.
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- Molex, used for the separation of normal paraffins from hydrocarbon
mixtures.

- Olex, used for the separation of olefins from paraffins.

- Parex, employed in producing over 22% of the worlds p-xylene (1980).

- Sarex, used for the separation of carbohydrate mixtures and the production

of High Fructose Corn Syrups (HFCS).

QOak Ridge National Laboratory's Chemical Division (Tenn, USA) have
produced a "cross current” production scale system which is said to be ready for
commercialisation (87). The system offers particular advantages for the continuous

separation of components with close distribution coefficients; however, no further

news on its progress has been reported.
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CHAPTER 3
3.0 PROPERTIES AND SI:I.PARA'I'K ON OF SUGARS AND THE PRODUCTION
HIGH FR E CORN SYR
The production and separation of carbohydrate mixtures is one of the major
fields where chromatography has been applied. Because of the relative safety, in terms
of toxicity, explosion and fire hazards, and specific industrial interest (by FINNISH
SUGAR, Finland, and FISONS Pharmaceuticals, England) led us into using
carbohydrate mixtures in this work to carry out the research and development of the
chromatographic systems. This chapter considers the properties of glucose and fructose,

their production and separation and a review of the large production scale

chromatographic process employed.

3. hemi f Gl nd F
Carbohydrates in general are an important class of naturally occurring organic

compounds universally found in plants, animals and microorganisms. The designation
"carbohydrate" comes from their empirical formulas (C.H,O),, where n > 3. The

metabolism of carbohydrates is of central importance to organisms individually and
collectively. They provide a major share of the body's energy requirements, act as
energy reservoirs and serve architectural functions. Carbohydrates are divided into three
basic categories: monosaccharides, oligosaccharides and polysaccharides. The
monosaccharides have three to nine, usually five or six, carbon atoms and contain only
one aldehyde or ketone function or are derivatives of molecules that do.

The oligosaccharides are oligomers of monosaccharides, linked by formation of
glycosidic bonds, containing generally two to ten monomeric units. They are subdivided
into disaccharides (such as maltose and sucrose), trisaccharides (such as raffinose), and

so on, depending on whether they have two, three or more carbohydrate units.
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Carbohydrate polymers containing more than ten monomeric units are called
polysaccharides, and can have molecular weights up to many million. Starch, cellulose
and glycogen are among the more important polysaccharides. Glucose is the most
common monosaccharide occurring free in fruits, honey and other living material.

Fructose is another common monosaccharide, a natural sugar frequently found in fruits

with glucose. Glucose is dextrorotatory with a specific rotation of (u)ZOD =52.7° in

water, while fructose is strongly laevorotatory with (0:)20]3 = -132.20 (88). Therefore,
sometimes glucose is referred to as dextrose and fructose as laevoluse. Both glucose and
fructose are soluble in water, and fructose is also soluble in ethers and alcohols while
glucose is only slightly soluble in alcohols (89).

The formula of both sugars is CgH;,0¢ and their open chain forms are shown in
Figures 3.1 and 3.2. From these open chain forms it can be seen that glucose is an
aldohexose, since it contains the aldehyde group (CHO), and fructose is a ketohexose,
since it contains the carbonyl group (C = O). Glucose in solution exists with the
isomeric ring structures shown in Figure 3.1 and an equilibrium exists between these

forms, which is only slightly dependent on temperature and concentration (Table 3.1).
The average equilibrium composition is 40% of a-D-glucopyranose and 60% of

B-D-glycopyranose (90 to 92).

In solution fructose exists in the isomeric forms shown in Figure 3.2. The

equilibrium between the o-D-Fructofuranose, p-D-Fructofuranose, -D-Frucopyranose

is affected by temperature (Table 3.2), but the effect of solution concentration is minimal

(90 to 92).
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Figure 3.2: Fructose forms in solution
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in Dzwl_).

Glucose o-D-glucopyranose -D-glucopyranose
concentration (%) 2
(%)
At 5°C temperature
5 40 60
20 41 39
65 40 60
At 23°C temperature
5 37 63
20 39 61
65 51 49
At 80°C temperature
5 41 59
20 49 31
65 46 54
Table 3.2: Tautomeric Equilibria of Fructose in D,Q (91)
Fructose Temperature o-D-Fructo- p-D-fructo-  p-D-Fructo-
concentration @ furanose furanose pyranose
(%) (%) (%) (%)
20 10 < 18 78
20 22 6 21 73
20 67 8 28 64
20 77 12 31 57
20 23 6 21 73
50 23 - L 75
80 23 5 21 74
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3.2 weetener

During the relatively short time that fructose has been industrially produced, it
has become particularly established as a sweetener substitute to sucrose in beverages,
and various dietetic food products. As part of the diabetic's diet, it offers metabolic and
organoleptic advantages, and has minimal influence on the sugar and insulin levels in
plasma. In Finland and Sweden it is used in baby foods and in some medicinal
preparations intended for children. Fructose can be used in small quantities as a flavour
enhancer in meat dishes and as a raw material in the industrial manufacturing of flavours.
It enhances the inherent aroma of fruits, berries and vegetables more than any other
sugar or sugar alcohol and its use in juices, jams and desserts offers particular
advantages.

Fructose is a natural sugar and without toxic properties. Traditionally it has
been used as an alternative to glucose in infusion therapy for patients who have reduced
tolerance to conventional intravenous glucose. Its calorific valucl is slightly lower than
sucrose, (ie. 3.7 and 4 kcal kg™! respectively), but it is 1.8 times sweeter than sucrose in
cold solution (93 to 95). When the minimum calories intake for the same sweetness is
required fructose in the crystalline form should be used.

Some medical statistics have indicated that fructose causes less dental plaque
formation than sucrose:. Fructose is very soluble in water, and its solubility is almost
15% higher than sucrose.

Over the last years a number of synthetic sweeteners have been produced, such
as saccharin and cyclamate which are entirely non-caloric. However, there is an
increased speculation about their possible health side effects, and saccharin provokes a
bitter after-taste. Sugar alcohols, sorbitol in particular, have gained some ground but

have a laxative effect and are of lower sweetness. Therefore fructose is arguably the best

alternative.
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Fructose has been found to overcome the bitter after-taste of saccharin, and a
09.7:0.3% fructose: saccharin mixture has been found to be 3-4 times sweeter than a
pure sucrose solution without any distinguishing difference in taste. Fructose has also

been found to exhibit a similar synergistic sweetening effect with sucrose.

The B-D-Fructopyranose is believed to be the sweetest fructose form and the

solution sweetness depends on the equilibrium between the above form and tle

B-D-Fructofuranose. As it was seen in the previous section, the equilibrium depends
strongly on the temperature. At temperatures over 50°C the fructose solution's
sweetness is reduced to that of sucrose. The equilibrium is also affected by
concentration, pH and time. Tests have shown that the sweetness at room tempeature of
a 5% fructose solution immediately after dissolution is about 1.49 times that of sucrose,
and 24 hours later when complete equilibrium has been reached, it is only about 1.25
times. Therefore to provide maximum sweetness fructose is preferably used in neutral
or slightly sour foodstuffs and beverages of relatively low sugar content, that are
consumed cold.

Although fructose is not expected to substitute completely sucrose, its usage is
expanding rapidly and it would become even more favourable when new and more
economical production methods have been developed and utilised. The separation
efficiency and low energy intensiveness of chromatography favour its application to this

field and a large initiative has been commenced by the Scandinavian countries in

particular.

3.3 Fructose Production
It is only during the last fifteen years or so that the use of pure fructose has

become widespread and this 1s a result of the development of new more economical

industrial manufacturing methods. These methods can be classified as follows:
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- hydrolysis of inulin
- sucrose hydrolysis
- enzymatic isomerisation

- dextran synthesis

3.3.1 Hydrolysis of Inulin

Inulin is a polysaccharide occurring in many plants, but it was mainly obtained
from Jerusalem artichokes and tubers of dahlias. It consists of about thirty
D-fructofuranose units and can be easily hydrolysed to yield comparatively pure
fructose. This has been the earliest method of fructose manufacture, but it was not

economically viable and has been discontinued (96).

3.3.2  Sucrose Hydrolysis

The disaccharide sucrose consists of one fructose and one glucose molecule,
and on hydrolysis it breaks into an equimolar mixture of the two monosaccharides. The
hydrolysis (or inversion) of sucrose can be achieved either by "acid hydrolysis", where
the sucrose solution is treated with dilute acids, or by "hydrogen ion resin treatment”,
where the inversion is carried out on a cation exchange resin in the H* form. The
advantages of the hydrogen ion resin treatment is that it allows continuous sucrose
inversion. The hydrolysis product mixture usually contains less than 50% fructose, and
some sucrose is also present since it is very difficult to obtain 100% inversion. Lauer et
al (117 to 119) have patented a process that inverts sucrose and separates the
glucose-fructose mixtures in the same column which was packed with calcium charged

DOWEX WX4 resin.
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3.3.3 Enzymatic Isomerisation

The actual mechanism involves the rearrangement of the glucose molecule in the
presence of an isomerase enzyme in an equilibrium reaction, where a transfer of H™
takes place between adjacent carbon atoms.

The successful isomerisation of glucose into fructose was achieved as far back
as the 1895 by Bruyn and Van Eckenstein (97) who used an alkaline catalyst at elevated
temperatures. During the 1930s and 1940s (98), saccharifying enzymes were used to
hydrolyse starch into glucose and the glucose was then partially isomerized in the
presence of the enzyme isomerase. The breakthrough however took place in 1957 when
Marshall and Kooi (99, 100) discovcfcd the enzyme "xylose isomerase" that would
isomerise glucose to fructose. The enzyme production however was expensive, at
equilibrium the fructose was less than 35%, and the poisonous arsenate and fluoride
were present. This however was enough to stimulate the interest of other workers who
produced similar isomerases by other microorganisms thus eliminating the need of the
above poisonous components, improving their stability and utilizing the fact that they are
intra-cellular enzymes by immobilising the cells (101 to 105).

Based on the work of Takasaki and his associates, the American company
Standard Brands Inc immobilized glucose isomerase by adsorption on DEAE cellulose.
The isomerization was carried out in reactors having shallow beds of immobilized
1somerase (115).

In 1975 Novo Industri A/S (Denmark) introduced an immobilized enzyme under
the trade name of Sweetzyme suitable for continuous on-column isomerization (116).

The typical composition of the isomerization product mixture is 42% fructose,

52% glucose and the balance maltose and other oligosaccharides.
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3.3.4 Dextran Synthesis

Sucrose can be converted to dextran and fructose using the dextransucrase
enzyme. Although this technique is still under development if the successful control of
the dextran synthesis and fructose separation are achieved the process offers promising
commercial viability. This technique would be described in detail in Chapter 4 and it will
be investigated in Chapters 4 and 11 by carrying the conversion out on a

chromatographic reactor-separator.

3.3.5 [Fructose Enrichment

The product compositions obtained by hydrolysis or by isomerisation indicate
that there is a need for further separation to increase the fructose purity. This can be
achieved by "chemical precipitation” or chromatography. Chemica) precipiiation s &g
conventional approach where fructose can be precipitated with an alkaline earth metal.
For example fructose is precipiiated by adding calcium hydroxide, and the precipitate is
removed by filtration. The salt is then dicomposed using an acid, and the fructose is
. concentrated and crystalised from the solution. This technique however is somewhat
outdated and worldwide the application of the novel chromatographic techniques is

increasing fast.
3.4 hanism of Se tion - Complex F ion

Saltman and Charley (107) reported that Ca?*, Ba2+, Mg2* and Sr2* ions form
soluble compounds in aqueous alkaline solution with galactose, arabinose, maltose,
lactose and fructose. Although their work has shown the existence of such complexes,
the chemical formulae and explanation for such complex formations is still hypothetical.

Angyal (108 to 113) suggested that in solution a sugar will form a complex with cations

54



if it contains a sequence of an axial, an equatorial and an axial hydroxyl group on a

six-membered ring, or a sequence of three cis-hydroxyl groups on a five membered ring.

According to the Angyal hypothesis, only C25 -p-D-fructopyranose iﬁ expected to form a
complex with cations since it has an axial-equatorial-axial hydroxide group arrangement
(Figure 3.2). Such an arrangement does not exist in any of the glucose forms (Figure

3.1) and therefore it is not expected to form a complex.

The percentage of the B-D-fructopyranose form in equilibrium has been found to
be affected by various factors, as it was mentioned earlier (90 to 92). The most

important factor is temperature, ie. as the temperature increases the amount of this

fructose form is reduced. Since B-D-fructopyranose is also the sweetest fructose form,
then during the chromatographic separation of fructose for the production of high
fructose syrups, it is important to maintain the temperature low in order to have more of
this form available for complexing. Alternatively, it has been found (114) that the use of
strongly basic, ion-exchange resins in the bisulphite form results in a complex forming
between the glucose and the anions.

If this approa;ch is employed, the fructose becomes the "middle" component,
ie.is eluted between the oligosaccharides and glucose peaks, and complete separation
would require two "splits" and large recycling. Therefore, the above effect and the
questionable stability of the anion resins (22) makes their application less favourable in
the fructose production from multicomponent carbohydrate mixtures. In this work a
cationic ion exchange resin (cross-linked polystyrene in Ca2* form) was used. The
fructose was retarded due to the complex formation and the glucose, maltose and

oligosaccharides were carried with the mobile phase and were eluted first.
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3.5 uction of High Fruct Corn Svru

For many years corn was the only important source of sugar, then as a result of
shortages during the Napoleonic wars the production of sugar from beets was
developed. At the beginning of the nineteenth century, Kirchoff discovered that starch
was converted into a sweet liquor containing glucose when boiled with acids. This
discovery laid the foundation for further exploitation of starch-based sweeteners. The
starch/wet milling industry today processes some 3 x 106 tonnes/year of raw starch in the
conversion of cereal and root crops to a variety of syrups, used as energy sources in the
fermentation of pharmaceuticals and bio-organic intermediates, as sweeteners, and as
stabilisers in the food industry and beverages.

Commercial sources of starch are corn (maize), wheat, barley, potato, sago,
cassava, rice, and the utilisation of one or more of the above is carried out according to
the climatic conditions and agricultural output of the particular country. By-products
such as oil and protein from the corn wet milling process are separated and marketed
thus contributing to the overall economic feasibility of the operation.

Starch consists of amylose, a linear glucose polymer containing 1,4-alpha
glucosidic links, and a branched polymer, amylopectin, in which linear chains of
1,4-alpha glucose residues are interlinked by 1,6-alpha glucosidic bonds. The
glucosidic bonds can be hydrolyzed to produce syrups containing glucose, maltose and
other oligosaccharides. This can be achieved by acid hydrolysis but undesirable
by-products are formed which aré not permitted for human consumption. The
hydrolysis is therefore carried out using enzymes classified into Endo-Amylases,
Exo-Amylases and debranching enzymes.

An aqueous starch slurry is obtained as a result of physical and chemical
treatment of the cereal or root crop. The starch is still intact and requires further
treatment before it is degraded to sugars. This process is generally referred as the

"liquefaction step”. This proces produces maltodextrins which are treated in the
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Figure 2.3: A typical flowsheet for the production of HFCS
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"saccharification step" to produce syrups containing glucose, maltose and other
oligosaccharides. The "saccharification step" is éurrcnﬂy carried out in batch processes
in the presence of enzymes (such as Amyloglucosidase), but work has been carried out
into developing immobilisable enzymes that would allow continuous operation and
minimise the operating costs. The glucose in the product mixture of the "saccharification
step" is then isomerised to fructose, and concentrated to around 71% w/v by
evaporation. DDS Kroyer (Denmark) have built a plant in Pakistan (120) producing 150
ton/day of 42% fructose syrup from 130 tons of broken rice, by employing immobilised
glucoisomerase enzymes.

In Hungary Naarden Internation co-operated in giving know-how for the
processing of 400 ton/day of maize to produce 150 ton/day of 42% fructose syrup (121).
The isomerisation was carried out continuously in columns filled with immobilised
glucose isomerase (Taka Sweet, Miles, USA).

High fructose corn syrup is produced by separating the fructose from the
isomerase mixture in an additional process which now is usually a chromatographic
system packed with an ion-exchange resin. A typical flow sheet of a HFCS producing
proces is shown in Figurc 3.3. The glucose in the final byproduct stream of the
separation step 1s usually recycled for further isomerisation.

The market specification for the HFCS (or second generation fructose syrup) is
at either 55 or 70 or 90% w/v fructose content. The most dramatic plans to expand
HFCS in the United States were announced in the early 1970s, and in 1977 50% of the
beverage, 23.3% of the food and 22.7% of the baking industries sugar requirements
were replaced by HFCS, worth over 2.2 million pounds. Worldwide, the share of the
HFCS in the sugar is increasing, (especially in Japan and the Scandinavian countries).
Because of the relatively low price of sucrose the HFCS processes have to become more
economical in order to increse their share even more. This has motivated researchers

into developing cheaper and more stable enzymes, improving the efficiencies of existing
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separation techniques, utilising chromatography due to its low energy requirements and
high separation potential, and also investigating the possibility of combining the
isomerization and separation steps. Hashimoto et al (122) have developed a process for
producing higher fructose syrup containing more than 50% fructose that involves a
moving column continuous chromatographic system. The system combines selective
adsorption of fructose and an immobilized glucose isomerase reaction. The
countercurrent movements is simulated by advancing adsorption columns against the

fixed inlet and outlet points, while the immobilized reactors are stationary.

3.6 Desugarisation of Molasses

The sugar industry produces approximately 90 million tons/year of molasses,
with the UK producing over 100,000 tons/year. Molasses contain about 15% of the
total sugars originally present in the beet or cane, and the total sugar content in molasses
can be up to 60% w/w. Significant economic advantages can therefore be gained by
recovering the sucrose from the molasses. The other impurities present are amino acids,
colouring pigments and metallic ions such as Ca2*, Mg?* and K. This sucrose recovery
can be achieved either by precipitation or by chromatographic separation. The later
technique has found significant applications in the field and some large scale processes
are described in the following section. The recovered sucrose can either be sold as sugar
or can be inverted to glucose and fructose. Chromatography has also been used to

combine in one step the invertion and product separation (Section 3.3.2), (123).

3.7 Large Scale Chromatographic Proc in ration in the Separation

Carbohydrate Mixtures

The existing large scale batch and continuous processes currently in operation
are reviewed and a mention is given to other processes that are believed to offer such a

potential in the near future.
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3.7.1 Batch Processes
3.7.1.1 The FINN-SUGAR Process

The FINNISH SUGAR Co Ltd can be considered as the leader in the
carbohydrate field. They have been developing batch chromatographic systems since the
early 1950s and since the 1960s they have designed and built several production scale
chromatographic systems in Europe and US used for the separation of sucrose from beet
molasses and the recovery of crystalline fructose. Columns of 2 to 12m high and 0.5 to
4m in diameter have been used commercially. The columns are insulated to maintain an
even temperature and inlet and outlet liquid distributors are used to minimise remixing of
the fractions. Cation exchange resins are used having a lifetime of several years (124).
The actual separation in the column takes place semicontinuously by employing the
repetitive injection technique. The eluent flow is interrupted and a certain amount of
pretreated molasses is injected. When the required amount of molasses has been injected
the eluent flow is switched on again. During its migration along the column the sucrose
and other carbohydrates are retarded by the resin but to a different extent
according to their molecular size. The ionized components in the molasses mixture pass
through the column faster due to the ion exclusion effect. That is, 1onized components
cannot penetrate the resin pores which are already highly ionized due to the ions present
in the active groups that make up the resin. Therefore during the migration a number of
bands are formed in the column. The next molasses slug is injected after a
predetermined time interval so that its fastest travelling components will not overlap with
the slowest ones of the previous injection by the time they are eluted. During operation
however overlapping does take place and these overlapping fractions are recycled.

In 1975 they installed the then largest batch chromatographic molasses
separation plant in the world (123) consisting of a 2.7m id column by 3 to 6m high

resin, recovering up to 95% of the sugar in molasses and obtaining purities of up to
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92%. In 1983 a new plant for the recovery of sucrose from beet molasses was
constructed in Frellstedt (Germany) for Amino Gmb H at a reported cost of about $7.6
million (124). Seven resin-filled columns form the chromatographic separation step.
The columns were 3.6m id x 12m high, processing 60,000 tons/year of molasses.

It has also been reported (124) that they have installed a plant for Xyrofin in
Thomson (Ill, USA) for the production of 13,000 tons/year of crystalline fructose from
corn syrup. The syrup is isomerized to a 42% fructose solution, using immobilised
enzyme reactors containing glucose isomerase, and then separated in a total of 17
chromatographic columns. Finnish Sugar Co has also developed commercial-scale
systems for the production of mannitol, xylose and betaine, and pilot units have been
used for the separation of more specialized products such as raffinose, arabinose,

lactulose, galactose, mannose, aldonic acids and some amino acids.

3.7.1.2 The Sudzucker Process

In the mid-seventies Munir of Suddeutsche Zucker AG (Germany) reported a
new process for the sej)aration of beet or cane molasses.l Three columns each of Im id x
6m high were used, packed with a 4% cross-linked Lewatit TSW 40 (Bayer AG) resin in
the Ca2* form. The water eluent was made slightly alkaline by the addition of calcium
oxide and was pumped at a linear velocity of 3.4cm min"l. The operation was carried
out at 90°C. The main objective of the process was the recovery of sucrose but they
claimed that the molasses can also be used as a source of recovery of amino-acids.

Molasses at 50% w/w were injected at feed charges equal to 6% of the total bed
volume. An initial non-sugar fraction was removed. from column 1 and the sugar
fraction was loaded to column 2. Similarly, the non-sugar fraction of column 2 was
removed and the sugar fraction was injected into column 3. The non-sugar fraction of

column 3 was removed and the sugar fraction was the final product This continuous

61



product splitting and redirection was controlled continuously by detector monitors. A
95% sugar recovery was claimed and the product contained up to 11% dry matter of

90% purity.

3.7.1.3 The Colonial Sugar Process

In 1967 the Colonial Sugar Refinery Co (Australia) (126), patented a process
for the separation of fructose and glucose from inverted sugar feedstocks. A 1.8m high
bed packed with a sulphonated polystyrene cation resin cross-linked with 4%
divinylbenzene (DOWEX 50W) was used. The process was operating in a batchwise
mode at 60°C and was able to hydrolyse sugars and separate the products. The eluting
stream was collected in different fractions of various purities and concentrations.
Different fructose rich fractions were obtained, for example using a 50% w/w feedstock
containing equal amounts of glucose and fructose, 95% fructose rich products at 24%
w/w concentrations or §2% fructose rich products at 29% w/w concentrations were
obtained. Although the process looked promising there are no further reports available

about its industrial success.

3.7.1.4 The Boehringer Process

Also in 1967, Boehringer et al of the Mannheim-Waldhof Company (Germany)
were granted a patent for a process for obtaining pure glucose and fructose from inverted
sugars (127). Six glass columns, each of 15cm id x 2m high, were used packed with a
low cross-linked polystyrene resin, (Dowex 50 WX 4).. The operating temperature was
60°C and the eluent linear velocity was between 1 to 2 cm minl. The resin was charged
at 20°C with calcium chloride solution to render it in the calcium form; the resin was

allowed to retain 5 to 30% of its active sites in the hydrogen form. This permitted the



simultaneous hydrolysis of the sucrose present and the separation of the glucose and
'fructose. Shortly after the disclosure of this patent a number of European countries

showed interest in constructing such plants under licence from the inventors.

3.7.2 Continuous Processes
3.7.2.1 The Sarex Process

The modified Sorbex process by UOP (Section 2.13.2) used in the production
of HFCS was referred to as the Sarex process (128). A flow sheet of the process is
shown in Figure 2.6. '

A 50% wlv feed containing 42% fructose is fed continuously into the system.
The fructose rich product stream contains over 90% of the fructose in the feed, and has a
fructose purity of 90 to 94%. The glucose rich stream contains approximately 80%
glucose. The product concentrations are around 20% w/v (129). In spite of the
company's experience in large scale applications of the Sorbex process in the
hydrocarbon industry, and the inherent advantages of the technique, the Sarex process

seems to have missed the 1970s boom in HFCS produciﬁg plants in the USA.

3.7.2.2 The Odawara Process

In the late 1970s Odawara et al of Toray Industries Inc (Japan) (130), patented a
continuous process for separating fructose from glucose-fructose mixtures. The
equipment consisted of eleven columns each of 2.5cm id x 1.5m long, packed to a height
of 1.35m by barium zeolite which absorbs the fructose._The liquid streams flow through
three serially and circularly inter-connected zones. The desorption, rectification and
sorption zones consisting of 5, 2 and 4 columns respectively (Figure 3.4). A total of 66

valves and a timer were used to simulate the continuous operation by the advancement of



entry and exit ports around a closed loop. The system presents a close resemblance to
the operation of the SCCR systems. Water was fed continuously as a desorbent at 2.9
kg hr'l. A 7% wiv feed containing 57.5% glucose and 42.5% fructose was intioduced
at 1.4 kg hr'! and another stream containing 1% w/v sugar solids was continuously
refluxed at a rate of 8.5 kg hr'l. The desorption effluent was withdrawn continuously at
12.7 kg hr'l, had a concentration of 1% w/v and contained pure fructose. The raffinate
effluent was withdrawn at a rate of 0.2 kg hr'l, it had a concentration of 45% w/v and
contained 3% fructose. The product streams were concentrated by evaporation and the

desorbent was recycled.

3.7.2.3 The IWT Process

The Ilinois Water Treatment Co (USA) has been active in the sweetner industry
over the last 30 years. Inconjunction with the Finnish Sugar Co they have used a
continuous system for the desugarisation of molasses consisting of a number of vertical .
columns. They have developed their own way of switching the feed and eluent inlet and
product outlet points to simulate the operation. Unfortunately, there is not enough

information available about the system, its operation and its commercial viability.
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Figure 3.4:

Diagramatic representation of the Odawara‘process
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CHAPTER 4

4.0 ENZYME BIOTECHNOLOGY
4.1 Introduction

The Spinks Report (1980) (131) defined Biotechnology as the application
of biological organisms, systems or processes to manufacturing and service industries.

Microorganisms have many uses, including the production of chemicals
such as ethanol by fermentation, brewing with yeast, production of enzymes and as a
food stuff (single cell protein). One of the more important and possibly the largest
application of biotechnology is in the pharmaceutical industry. The previous chapters
highlighted the impact of chromatography in the separation field and gave an indication
of its potential to perform a combined operation, ie. performing as a reactor-separator.

In this research work is was also desired to study the scaling up of
chromatographic systems operating as biochemical reactors-separators. The validity of
the products and specific industrial interest by FISONS Pharmaceuticals plc, led us
into choosing the Dextran (a polyglucoside) synthesis from sucrose using the
dextransucrase enzyme. Fructose is the other valuable byproduct of the biochemical
reaction. One of the prime uses of Dextran is as a clinical product injected
intravenously to act as a blood plasma volume expander. In the current industrial
manufacturing process, the dextran synthesis takes place in a batch vessel, and then
the native dextran is hydrolysed to reduce its molecular weight. The hydrolysate then
undergoes a series of ethanol precipitation stages, first to separate the dextran from the
reaction products, and to selectively obtain a clinical dextran product within a desired
molecular weight range. The clinical specifiation for Dextran 40 requires at least 85%
within 12000 and 98000 daltons. By employing a chromatographic reactor-separation

as an alternative process the-dextran yield will be improved (3) since more high
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molecular weight dextran will be formed due to the continuous removal of the acceptor
fructose from the reaction mixture. The subsequent employment of size exclusion
chromatography and/or ultrafiltration as an alternative to ethanol precipitation (132,
133) is also expected to reduce the operating costs and provide a safer operation by
eliminating the fire hazards associated with the use of ethanol. Due to the relatively
large amounts of dextransucrase requirements in the scaling up studies of the
chromatographic reactor-separators it was required to purify the enzyme in the
fermentation broth. The choice of the purification process was based on their scaling
up potential, ease of operation, successful integration and most importantly, their
minimum contribution to enzyme denaturation.

This Chapter investigates the applicability of different downstream
processes for the purification of proteins, describes the mechanism of the dextran

synthesis and the dextransucrase enzyme and reviews various chromatographic

reactor-separators.

4.2 Enzvmes

The three major groups of biological polymers are polysaccharides, nucleic
acids and proteins. Proteins are polyamides and their monomeric units are amino
acids.

Proteins are one of the major classes of compounds found in living tissues.
They are large polymers, usually between 9000 and 200000 daltons, and fulfill a wide
range of functions. For example, as enzymes act as specific catalysts, as hormones act
as messenger compounds, and as muscle fibres carry out mechanical work. Enzymes
are proteins in nature and are produced by living cells. They are present in all living

things and if sufficient care is taken to protect them, they can be isolated and purified
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from any organism. The great bulk of enzymes used in industry are microbial in
origin, but there are exceptions, such as various plant and animal proteases. An
enzyme in its active state (the holoenzyme) is composed of a protein part (tle
apoenzyme) and occasionally, by ions or molecules of a different nature (cofactos«).
The apoenzyme is always the largest part of the molecule and its structure is mo. t
important for its catalytic effectiveness. The amino acids which form the enzymes are
almost exclusively of the L-series and their sequence determines the primary structure

of the protein. The secondary structure consists of those sections of the polypeptide

chain that assume certain well defined structures such as the o helix. In addition to
their secondary structure, proteins have higher orders of structure (tertiary,
quarternary) due to interactions between side chains and between individual
polypeptide chains. It is a universally accepted hypothesis, supported by many
experimental facts, that biocatalysed reactions take place in well defined areas, or
cavities, of the macromolecule forming the apoenzyme. These regions are called
"active sites" and are of limited dimensions with respect to the whole protein surface.
An enzyme can have one or many active sites, and a knowledge of the active site
structure is essential for understanding the mechanism of enzyme catalysis. The nature
and the relative position of the amino acid side chains contribute together to make a site
active. All the three or four levels of protein organisation thus determine the catalytic

function. Enzymes can be classified into the following groups according to the

reaction they catalyse:

- Oxidoreductases, catalysing oxidation reduction reactions;

- Transferases, catalysing the transfer of atomic groups from a donor to an
acceptor, (aldehydes, ketones etc);
- Isomerases, transforming the substrate into an isomer (ie. glucose to

fructose);
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- Lyases, catalysing the addition to or formation of double bond-;

= Ligases or synthetases, catalysing the union of two molecilcs by trealing
a pyrophosphate bond.

As mentioned earlier, some of the enzymes are also comp .ed of
cofactors. This term indicates all those inorganic ions (eg. HPOZ'4‘ or metalhc 1on,
such as Zn?*+, Mg?*) and organic substances which co-operate with the enzyme in
n‘ansfdrmjng the substrate. They are indispensable for the catalytic action of the

enzyme.

4.3 Properties of Enzymes

Specificity. All enzymes are biological catalysts, that increase the rate of
biochemical reactions without suffering any overall change of their own. The reactants
in enzyme catalysed biochemical reactions are referred to as substrates. Each enzyme
is specific in character acting on particular substrate(s) to give particular product(s).
'Ihe‘spcciﬁciry of cnermic reactions depends greatly on the structure of the active site.
An initial description of the interaction between enzyme and substrate which still
appears to be substantially valid is the "lock and key" hypothesis. According to this,
the active site can be compared to a lock, and the substrate to the corresponding key.
An improved description is the "inducet-fit" hypothesis, according to which, the site
itself should undergo modification on interacting with the substrate, which in turn,
would be altered in its molecular orbital structure during the binding with the enzyme.
An enzyme-substrate complex is so formed and the precige electronic, steric and
entropic situation favours the ensuing chemial reaction.

Activity. The enzymes are usually characterised according to the nature of
the reactions they catalyse (Section 4.2) and their catalytic activity. The activity is a

measure of the quantity of enzyme required to achieve a specified product yield. Since
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most industrially used enzymes are marketed according to their activities, the aci vit
provides a basis for estimating the prodution costs and also influences the p) int iz
The activity assay is usually carried out at conditions (ie. temperature and } H "\ Li]
correspond to the actual operating conditions of the biocatalysed reaction These
conditions under which the activity assay was carried out must always be stated w he
an activity figure is quoted. Another parameter which also needs to be stated is the
method used in the activity assay. Usually the different activity determination ssa*s
are named after the detection procedures used, ie. manomeric, electrochem: 'ral,
radiochemical, HPLC and spectrophotometric methods. During the 1960s, the
International Union of Biochemistry defined an enzyme unit (U) as the amount of
enzyme that will transform one micromole of substrate per minute under defined

conditions. The activity sometimes is referred to as "specific activity”, (ie. U/mg of

enzyme) or "molecular activity” (ie. U/umol of enzyme). Although these international
activity definitions exist, various enzyme suppliers or users have their own definitions,
therefore there is an extra need to state clearly the conditions under which the assay has
been carried out.

Stability. Denaturation or destabilization are the generally used terms for
inactivation of proteins. Proteins in general exhibit denaturation in aqueous solutions
or suspensions and in air-liquid interfaces. Broadly speaking stability is also related to
molecular size, large protein molecules being more unstable than peptides. The main
factors that affect the stability of en;zymcs are temperature, pH and physical effects.
Enzymes are usually very stable at temperatures below 4°C and loose their stability at
relatively high temperatures, with only a very small fraction of them being stable at
temperatures of 80°C or above. Usually temperatures around 15 to 30°C give faster
reaction rates. During operation a compromise should be made between reaction rate
and, stability. In general, cnzyzﬁcs are active over a limited pH range due to the pH's

effect on the ionisation state of the amino acids, and the pH vs activity curve is of a
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bell shape. The physical effects are the activity losses associated with heat generation
and shear forces during the enzyme recovery and purification stages. Denaturation is
believed to take place in two main steps. These are a reversible unfolding of the
molecule, followed by irreversible changes leading to a permanent loss of biological
activity. Denaturation is a chain process, once a few bonds have been broken for any

reason, further disruption of the secondary and tertiary structure occurs rapidly.

During processing thereiore, the following precautions should be taken:

- the temperature must be maintained as low as possible;

- the pH must be maintained within a close range (ie. 4 to 8);

- frothing and exposure to large surface areas must be kept to a minimum
(134);

- during processing the usage of high shear pumps and other process
equipment must be avoided (134);

- the process time should be minimised and storage should take place under

controlled conditions;
- hygienic operation is necessary not only to avoid the biodegradation of

proteins but also to prevent any contamination by other microorganisms.

4.4 Enzvme Kinetics

Kinetic and thermodynamic data on enzyme reactions generally indicate the

following steps:

- ~ formation of a complex between the active site of the enzyme and reagents
(substrate(s) and cofactor(s)). This step is usually completed in a few

. seconds;
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reaction and subsequent formation of an enzyme-product complex;
dissociation of the enzyme-product complex, and regeneration of the active

site in the appropriate state for receiving the reagents again.

Many enzymic reactions can be described by the Michaelis-Menten

equation:
Tmax [Slo

o= ————— 4.1
K +[S],

which holds within the following limitations:

the concentration of only one substrate implied in the reaction can vary.

Other substrates can participate in the reaction only if their concentrations

remain constant;
the initial concentration of the substrate must be much larger than that of
the enzyme;

the whole enzyme catalysed process should fit the following scheme:

SR k
Es+ S T===ES$ >E + P veeens 4.2
k--1
where:
= enzyme
S = substrate
ES = enzyme-substrate
P = product
= reaction constant
To = initial rate of product formation
Tmax = maximum rate of product formation
K = Michaelis constant
[S]o = initial substrate concentration
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A good agreement with the Michaelis-Menten equation is found for the
kinetics of enzymes such as hydrolases, many transferases, many isomerases and
lyases. In other cases much more complicated kinetic equations must be used, ie.
when a second enzyme-substrate complex (E83 is formed as an intermediate. The

corresponding sequence is:

K k, , K
E+ S ES ———a ES -——-—E+P2 ........ 4.3
k4 -
Py

The four most important factors which can influence the rates of an
enzymic process are, temperature, pH, the presence of activators and the presence of
inhibitors.

A temperature variation influences the rates of the single reaction stages as
it either modifies Arrhenius activation energies, or, according to the transition state
theory, the equilibrium between the reagents and the corresponding activated states.
Almost all enzymes are extremely sensitive to the pH, and generaily their activities
decrease if the solution pH varies from the optimum pH for the particular eﬁzymc.

Certain compounds can bind themselves to the enzyme without undergoing
any chemical modification. Those compounds, which after binding to an enzyme,
increse the rate of a corresponding enzyme reaction are called activators, whilst the
ones which act in an opposite way are called inhibitors. Inhibition is by definition
reversible, ie. once they are removed the enzyme regains its original activity.

Inactivators are those substances which deactivate the enzyme irreversibly.
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4.5 nzvme Recov Purification
45.1 Downstream Processing

Downstream processing involves the separation and purifica on of a
essential product or products from a fermentation process. Downstieam proces n
used to be the most neglected part of biotechnology although it represents a m “or part
of the overall costs of a process; almost as much as 40% of the total costs excludir g
the raw material costs (136).

The "biotechnological revolution" however will only be materialised when
the laboratory bench concepts and processes are transferred to the market place and
compete commercially with conventional technologies. Over the last ten years the
significance of the downstream chemical engineering related processes has been
appreciated by the biochemical industry and increased amounts of capital injections,
and joint efforts have been initiated to achieve a successful "debottlenecking".

The first stage of puriﬁcation‘ is to release the enzyme into solution from
the cells which produce it, although many microbial enzymes that degrade or
sometimes synthesise polymeric substances are found extracellularly, and therefore
only separation from the cell is necessary. Once the enzyme is recovered in solution it
usually requires further purification to separate it from other impurities which might
either be byproducts or substances added in the fermentation medium. During the
downstream processing it is essential to try and prevent denaturation thus minimising
the overall production costs. Summarising, the factors that need avoiding are: heat,
shear, air-liquid interfaces (foam), large stainless steel surfaces (134), high velocity
gradients, dilution, oxidation and loss of any stabilizing agents. The pH of the

medium must be within the pH range of the particular enzyme, and also good
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management practice must be employed. Any accidental spillage to the environment
must be avoided since enzymes are known to cause allergies to humans. Therefore,
there is a need to comply with the regulations set by the Genetic Manipulation
Advisory Group (135).

Another important parameter in the downstream process selection is the
rheology of the enzyme mixtures, since proteins in general exhibit Non-Newtonian

behaviour.

4.5.2 Enzyme Recovery

For intracellular enzymes, the enzyme first must be removed from the cell
and recovered in the liquid phase. There are a range of operations that are available
and are classified as mechanical and non-mechanical. A listing of the various

alternative ways is shown in Figure 4.1.

4.5.3 Enzyme Purification

Once the enzyme has been recovered from the cells, for intracellular
enzymes, or the fermentation broth, for extracellular enzymes, need further
purification to give pure and more concentrated enzyme. The various purification

processes applicable utilise one or more of the following properties:

- Electrical charge. Ion-exchange, two-phase aqueous partition,

flocculation, fractional precipitation, chromatofocussing.
- Solubility. Isoelectrical precipitation, crystallization, precipitation with
neutral salts, organic solvents and polymers.

- Molecular size. Membrane separation, size exclusion chromatography.
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Figure 4.1: Cell Bresksging Techniques
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- Hvdrophobicity. Flotation, foam separations, two-phase aqueous

partitioning, hydrophobic adsorption.
- Density. Flotation, centrifugation.

- Specific binding. Affinity precipitation, affinity chromatography,

electrophoresis.

Some of the above processes are reviewed below. During the process
selection, emphasis must be given on their scaling up potential, recovery efficiency,
reliability, cost, process time, capability to accommodate large reductions in volume

and to allow easy sterilisation.

4.5.3.1  Centrifugation

Centrifugation is probably the most widely used solid removal process in
biotechnology. On the laboratory scale it is extremely efficient, but for large scale
operations it looses some of its separation efficiency due to mechanical difficulties that
limit the maximum centrifugal force obtainable. Efficient operation is favoured by
large particle diameters, large density differences between the solid and fluid phases,
and low viscosities. High angular velocity, large centrifuge diameter and thin
sedimentation layers also assist. Biological materials however are usually small and of
low density and relatively high viscosity.

Choosing the right centrifuge for a particular application is not too easy
because the manufacturers provide a limited information and the highly competitive
nature of the downstream purification industry results in process engineers being
unwilling to reveal optimum operating parameters found from their experience. There

are a number of centrifuge types available, ie:
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- Tubular bowl centrifuge, consisting of a cylindrical tube driven by an

overhead motor. Angular velocities (50000 rpm) can be obtained and the
operation is continuous, although occasional stops are required to clean
the bowl from the cell precipitate.

- Multichamber and disc centrifuges. They have relatively large radius and

operate at low angular velocities. Batch and continuous discharge
machines are available. The bowl is usually located above the gearbox,
thus some heating takes place.- Disk bowl centrifuges are widely used in
industry.

- Solid bow] scroll centrifuge. This comprises an Archimedean screw inside

a solid bowl. Continuous operation usually takes place, but due to the low

rotation speeds only coarse solids can be removed efficiently.

- Perforate bowl basket centrifuge. This centrifuge resembles the domestic

spin-driers. It is an efficient cell removing unit, but usually operates in a

batch mode and safety considerations are very important.

Usually all centrifuges allow sterilisation and most of them have some
means of refrigeration. Among its advantages are low process times, no need for
additives, fairly good containment, and ease of sterilisation. Centrifuges however are
generally efficient only for the removal of cells from biochemical feedstocks, g:encrate
substantial shear forces, and the high moving parts require additional safety

precautions.

4.5.3.2 Membrane Processes
Membrane processes are increasingly gaining popularity and applications

in downstream processing. They are used for cell removal, selective separation of the

various soluble components in the fermentation broth, and concentration of final
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enzyme mixture. In most of the commercial membrane processes the driving force is

pressure and are classified as follows:

- Microfiltration. Microfilters have the most "open" membranes, and are

used to reject suspended particles having molecular sizes over 0.1pm.
Their rejection of proteins however is still under debate.

- Ultrafiltration. These membranes have a "finer" pore size and can reject
smaller "dissolved" components, down to some macromolecules (ie.
proteins) with molecular wights of a few thousand and molecular sizes of
the order of 10nm.

- Reverse Osmosis. Consisting of the "finest" membranes rejecting not only
macromolecules but also dissolved ionic salts and small molecules of a few

hundred molecular weights.

Another membrane filtration mode is dialysis which is usually carried out
using ultrafiltration type membranes but the separation is based ona concentration
gradient across the membrane. A third category of membrane proceses includes
electro-filtration and electrodialysis (137), where the driving force is an electrical
potential gradient. Usually all the membrane units have the form of either flat disks or
hollow cartridges. The hollow cartridges consist of a large number of membrane tubes
placed inside the same holder. They have the greatest industrial potential since they
combine large membrane surface area in relatively small overall sizes, and most
importantly, because the fluid flow is in a "cross-flow" arrangement which helps to
remove some of the "gel layer" formed on the membrane surface due to the
concentration polarisation effect.

From the above processes microfiltration and ultrafiltration are the more

established as industrial scale unit operations. Various figures have been published
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forecasting potential growth rates in sales of membranes and associated plant over the
next ten years (138). It was estimated that in 1985 the total value of m» mbiares and
associated plants sold worldwide were in the region of $2 billion, with memrb ane
sales accounting for almost half of this figure. The old and most of hec cijent
generation of membranes are made of synthetic materials, and although t ¢y have b . n
developad to present good chemical stability in both alkaline and acid cond't o1 , they
cannot be sterilised effectively. Some new ceramic based membranc allow
sterilisation but since they are still under development there is some uncertaint < bou
their separation efficiency. The process times are relatively long and the shear forces
considerable, therefore low shear pumps should be used (134). By far the largest
problem with membrane systems however is their "fouling" especially by proteins
(139). By definition "fouling" is the accumulation of deposits on the surface of a
membrane. The gel layer formation would be expected theoretically to be reversible.
In practice the gel layer formed due to the gel polarisation effect is reversibly increased
or decreased in thickness by altering operating conditions. Irreversible gel formation
however can occur due to the precipitation of scaling materials and adsorption of
certain feed solutes, such as proteins by the membrane which can even cause pores to
become clogged (1‘40, 141). This membrane fouling alters the membrane
characteristics, ie. membranes with molecular weight cut-offs of 300000 daltons
would even reject molecules with molecular weights below 50000 daltons. The
mechanism of fouling however is still poorly understood. Membranes in general
provide a very efficient means of separtion and concentration and it is believed that

their applications would be increased further once the above problems have been

understood and overcome.

4.5.3.3  Precipitation

Precipitation is one of the most commonly used methods in enzyme

purification. Protein aggregation (precipitation) can be achieved by changing the
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environment thus making the inter-protein attraction greater than that with the solvent.
Such changes include changes in ionic strength, pH and dielectric constant changes.
One of the most interesting developments in the enzyme precipitation {1 'd
has been the use of high molecular weight polymers as precipitants. Siernberg et al
(142) have recently described the use of polyacrylic acids. Bergmeyer etal (143)a
Boehringer have described and patented the use of polyethylenimine as a precyj itan .
Polyethylene glycol (PEG) can also be used very satisfactoiily t
precipitate proteins (144). Unlike solvents, it has a protein-stabilizing effect and tl us
may be used at ambient temperatures and cause minimum activity loss. It is efrecti e
at relatively low concentrations, with most proteins being precipitated at PEG
concentrations of 6-12%, and thus 50% w/w aqueous solutions of the precipitant

(molecular weights from 1500 to 8000) may be used very conveniently.

4.5.3.4  Chromatography

This introduction of new efficient chromatographic techniques for the
separation and puﬂficai:ion of proteins over twenty years ago had a dramatic impact on
| the development of research in the biochemistry and molecular biology fields. The
transfer however of the new technology from the bench to the production scale was
very slow. The main problem seems to be design limitations to match the soft gels
available for protein separations. This is probably the reason that only two large scale
techniques were available in the 1960s, ie. adsorption on ion exchangers such as
DEAE-Sephadex A-50 and desalting on gel filtration media such as Sephadex G-25.
During the seventies new packing materials were developed, such as DEAE-Sepharose
CL-6B, Ultro-gel and Sephacryl, which were more compatible for large scale

operation. The various chromatographic processes employed in protein purification
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can be classified in the following three groups. Gel Filtration, Jon Exchange and

Affinity chromatography.

4.5.3.4.1 Gel Filtration Chromatography

This technique, which is well known on the laboratory scale as  n ¢ in. «
determining the molecular weight of macromolecules, such as proteine. se1ves 2§ o1
their purification. Many different names have been used for the same pri  jle. ¢ gel
permeation, molecular sieving, size exclusion. The materials most frequently used as
the stationary phase are various grades of Sephadex (cross-linked de trans),
Sepharose (agaroses) and Bio-Rad gels (polyacrylamides), among others. The first
industrial applications were group fractionations (desalting) where low molecular
solutes were removed from protein solutions. Columns as big as 1.8m dia x 1m high
have been used commercially in Sweden,producing 28kg of 75% protein powder per

hour (145).

4.5.3.4.2 Jon Exchange Chromatography

Many types of ion exchange material are available which fall into two
classes. The cellulose jon exchangers, which are cellulose combined with anionic or
cationic charged groups. The most commonly-encountered ion exchange celluloses
are diethyl-aminoethyl (DEAE) and carboxymethyl (CM) cellulose, anion and cation.
Jon- exchange resins are water soluble polymers containing anionic or cationic groups

such as -SO57, -COO", or -NH;*. Ion exchange chromatography is a powerful

purification technique, due to the high protein capacities which can be used (ie. 50g of
protein per litre of ion exchanger) and due to the variation of elution procedures that
are possible, (ie. combinations of pH, ionic strength and continuous and stepwise

gradients). The most widely used large scale applications of ion-exchangers are
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in human plasma protein fractionation (146), hormone (insulin) purif, atv m and ...e

production of egg white lyosozyme (147).

4.5.3.4.3 Affinity Chromatography

This is a highly specific technique, as applicable to large scale t ¢ asitic tn
bench scale, which relies on biospecific interactions. Enzymes are capablc of hindine
to their substrates, inhibitors, co-factors and specific antibody. If one of these, such
as a monoclonal antibody, is covalently linked to supports suitable for use in
chromatography, it will bind specifically to the appropriate enzyme. It is essential
however that the binding is reversible, to enable the release of enzyme. Elution of the
enzyme usually involves a change in pH, ionic strength or buffer composition. A
comprehensive review of affinity separations has been carried out by Chase (148).

The high specificity and capacity of affinity chromatographic matrices
means good flow rates and rapid separation and purification since column bed volumes
are generally small. Large scale affinity chromatography is an area of growing
importance in bioteclinology. It is used for the purification of human interferon,
removal of contaminants such as pyrogens, viruses, etc from medical substances, and
for the purification of enzymes, such as phosphoglycerate kinase, alcohol

dehydrogenase, malate dehydrogenase, and glycerokinase among others (149).

4.6 Dextran and its Applications

Dextrans are polysaccharides, which yield D-glucose on ultimate

hydrolysis, and are characterized by predominance of u-(1—6)-linked
anhydro-D-glucopyranosyl uniﬁs. The early history of dextran- goes as far as 1874

when Scheibler (150) gave its name.
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The extracellular enzyme dextransucrase is able to synthesize dextrans

from sucrose accordingly to the overall equation:

n x (C;pHp0qy) —= (CgHjoOsin +  nx(CgHy,Oy)
sucrose dextran fructose
- The mechanism of the biosynthesis will be mentioned later on.

Probably the largest dextran usage is in the pharmaceutical industry as
blood volume expander (average molecular weight of 70000) and blood flow impr ver
(average MW of 40000). The molecular weight distributions of these fractions are
controlled by various specifications and have been reviewed by Nilsson (151). The
dextran and its derivatives which find commercial usage have been reviewed by
Murphy (152), Baker (153) and Alsop (154). Some of these usages are: for the
stabilisation of soil aggregates, as protective coating for seeds, as deflocculants in
paper industry, in oil drilling muds, in the manufacture of packings for

chromatographic columns etc.
4.7 Th X u nzyme and the Dextran i

The extracellular dextransucrase is the enzyme that biocatalyses the
conversi‘cm of sucrose to dextran and fructose. The main dextran synthesizing bacteria
belong to the genus Leuconostoc, species Mesenteroides and dextranicum, tribe
Streptococceae, and family Lactobacillaceae (155). In the western world the clinical
dextran is produced from the Leuconostoc Mesenteroides NRRL strain B512F. This

strain is non-pathogenic and produces mainly linear dextran, ie. containing 95%

1,6-and 5% 1,3-0-D-glucopyranosidic linkages (154).
After many years of controversy (156, 157, 158), it now appears that the

reaction takes place according to the proposal by Robyt et al (159 to 162) which is:
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two nucleophiles at the active site (X, and X, in Figure 4.2) displace fructose fion

two sucrose molecules, giving two 8-glucosyl intermediates; these two intermediates

rotate so that the Cg-hydroxyl of one is opposed to the C; of the other, a nucleophilic

attack of the Cg (wrt X5) on the C; (wrt X) displaces the enzyme nucleophile a1d

forms an o0-1,6 bond; the free active site nulceophile (X,) attacks another sucr s

molecule to give another B-glucosyl intermediate, then the cycle proceeds forming the
growing dextran chain from the active site. The biosynthesis terminates when an
acceptor product is added on the glucosyl or dextranosyl unit. If the acceptor is a
low-molecular weight carbohydrate, the displacement of the glucosyl unit results in an
oligosaccharide. Subsequent products may occur with the acceptor product acting also
as an acceptor. Robyt (163) reports over 30 different acceptor products. The second
reactor product fructose is a relatively strong acceptor, giving leucrose and
isomaltulose (164). Theoretically, stoichiometry predicts that 100g of sucrose give
52.6g monosaccharides (fructose) and 47.4g of high molecular weight (HMW)
dextran. In practice however disaccharides and lower molecular weight dextran is
formed due to the acceptor reactions. Alsop (154) has reported the HMW dextran
fraction to decrease sharply with increasing sucrose concentrations (ie. for sucrose
concentrations 2,10 and 20% w/v the corresponding HMW dextran fractions were
45.9, 39 and 17.9%). Robyt and Walseth (162) proposed that the acceptor reaction
proceeds by nuclecophilic displacement of glucosyl and/or dextranosyl groups from
the enzyme-complex by a hydroxyl group of the acceptor. The acceptor reactions
terminate polymerisation by displacing the growing dextran éhain from the enzyme
active site.

Therefore to obtain dextran having large proportions of the HMW fraction,
the fructose in particular, must be removed immediately from the reaction mixture.

This can be achieved using a chromatographic reactor-separator packed with a cationic
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resin which removes the fructose from the reaction mixture by forming a loose

chemical complex. The scaling up evaluation of such a system will be carried out in

Chapter 11.

4.8 Properties and Purification of Dextransucrase

During the enzyme production the optimum pH is between 6 7 and 6 9
while for enzyme action is 5.2. As an indication of the effect of pH on enzyme action,
at pH 4.8 and 5.6 the enzyme has 90% of its maximum activity. For a pH below 4.8
and over 5.6 the activity drops sharply. Dextransucrase has its maximum activity at
30°C, but an operating temperature of 25°C is recommended since at higher
temperatures a rapid decay occurs. At 4°C the enzyme was found to be stable for 3
weeks, at 359C for 1 hour and at 40°C it was completely destroyed in 15 minutes
(165). Miller and Robyt (166) found that the enzyme lost half of its activity after
storage for 2 days at 4 or -15°C. A number of alternative activity assay methods have
been reported (167 to 170), the method however employed in this work was the
following. A unit of rl’ncxtransucrasc activity (DSU) was defined as the amount of
enzyme which will convert 1mg of sucrose to dextran in 1 hour under the actual
operating conditions, ie. pH of 5.2 and 25°C. The progress of the reaction was
monitored by carrying out an HPLC analysis at set time intervals and tracing either the
sucrose disappearance or the fructose formation.

Because of the instability problems of the enzyme, a large amount of
research work has been done to identify the right stabilising agents. Robyt and
Walseth (169) stated that during storage the enzyme stability iﬁcreased by the addition
of 4mg/ml of dextran; the activity decreased by the adition of
ethylenedinitrilotetra-acetic acid (EDTA) and was restored by the addition of calcium
ions. They also found that the presence of zinc, cadmium, lead, mercury and copper

ions were inhibitory to various degrees.
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The inhibitory effects of EDTA has also been reported by Kobayashi and
Matsuda (171-173). Kaboli and Reilly (170) and Lopex and Monsan (174) ] ave

reported that approximately 0.05mM of Ca2* are enough to give maximum
stabilization. Miller and Robyt (166) reported that 2 pg/ml of HMW de tran or 10

pg/ml of PEG 20000 or 10 pg/ml of the nonionic detergent Tween 80 were €1 qugh t
stabilize the dextransucrase. They found that calcium had no stabilizing act n it th
absence of other additions, but reduced the inactivation that occurred in the p csei ce o
0.5% bovine serum albumin or high concentrations (> 0.1%) of Triton X-100. Table
4.1 contains a summary of the various reagents and metal ions on dextransucrase
activity (165, 173).

The crude dextransucrase has a number of impurities present, such as
leucrose, fructose, mannitol, other proteins and enzymes, dextran and
oligosaccharides, which need purification. All the bench scale purification methods
involve a combination of processes such as precipitation, gel chromatography, ion
exchange chromatography, dialysis, ultrafiltration and electrophoresis.

Robyt and co-workers (166, 169) purified dextransucrase by cocentration
and dialysis of the culture supernatant with a Bio-Fiber 80 miniplant, and by treatment
with dextranase followed by chromatography on Bio-Gel A-5m. A 240-fold
purification with a specific activity of 53 U/mg was obtained. Contaminating enzymes
such as levansucrase, invertase, dextranase, glucosidase and sucrose phosphorylase
were decreased to non-detectable levels. They reported that the purified enzyme lost
activity at 25°C or on manipulation, in a same way the crude enzyme did but when it
was diluted below 1U/ml.

Kobayashi and Matsuda (171, 172, 173) purified the enzyme by (NH,)

SO, fractionation, adsorption on hydroxyapatite, chromatography on DEAE-cellulose

and gel filtration on Sephadex G-75. Enzyme activities reached up to 32 fold of the

original, and the enzyme had a molecular weight between 64000 and 69000.
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Table 4.1: Effects of Metal Tons and Chemical Reagents on the Dextransucrase Activi

Compound Remaining activity* (173)
without with
Dextran Dextran-
None 100 136
CaCl, 111 124
CuCl, 7 v
MgCl, 97 125
FeCl, 83 119
FeCl, 20 0
CoCl, 100 112
MnCl, 38 52
Idoacetic acid 56 56
N-Ethylmaleimide 79 113
p-Chloromercuri-benzoate 88 ' 110
Phenylmercuric-acetate 6 8
Sodiumdodecyl-sulfate 118 182
EDTA 8 96
Sodium thioglycolate 105 130

* Final concentrations of metal ions and chemical reagents were 1mM and 0.5mM
except for p-chloromercuribenzoate which was 0.05SmM.
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Kaboli et al (170, 175) obtained enzyme of high stability by no using
dextranase for hydrolysis. They used ultrafiltration (Amicon XM-100A) and gel
chromatography (LKB ultrogel AcA34) to obtain a 247 fold purification w'th 54%
yield. The specific activity was 58.6 U/mg. Bhatnagar et al (165) used dial "s1
ammonium sulphate fractionation, DEAE cellulase chromatography and S.pl adex
G-200 gel chromatography to obtain a 146 fold purification. The specif ¢ actiy ty ¢f
the final enzyme was 3566 U/mg, and the enzyme had a molecular wei,  of
95000+5000.

Lopez and Monsan (174) concentrated the fermentation broth using
ultrafiltration and purified the enzyme by gel chromatography on Ultrogel AcA-34.
They obtained specific activities of 2500 DSU/mg and reported that the activity was
enhanced greatly by the addition of calcium chloride. Paul et al (176, 177)
recommended the repetitive PEG phase partitioning technique for the purification and
reported a comparison with alternative purification techniques. Ultrafiltration, gel
chromatography and phase partitioning gave enzyme recoveries of 75, 78 and 95%
respectively and corresponding specific activities of 860, 2035 and over 3500
DSU.mg™l. In 1982 workers from Fisons Pharmaceuticals (178) patented a
purification method that involves ethanol precipitation and chromatography on DEAE
A25 (Pharmacia) anionic resin. They claim 67% enzyme recovery with specific
activity in excess of 3000 DSU.mg"L. The resolubilisation difficulties associated with
the ethanol precipitation led them into using PEG6000 precipitation instead, and a new
patent has been applied for.

From the above review it is apparent that the dextransucrase purification is
possible. In scaling up however, the process selection depends on the relative

operating costs, ease of operation, process time and activity losses; therefore a

comprormise is required.
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4.9 I ilisation of Dextransucras

To minimise process costs and excess enzyme usage, du 1y Lo
immobilisation of the purified enzymes should be preferred. Some of the advant. ~es

of using immobilised enzymes are:

- continuous operation and easy control;
- easy separation of the products;
- minimun effluent problems and material handling;

- reuse of enzyme.

The support used for the immobilisation should:

- have large mechanical stability;
- increase substrate binding;

- decrease product inhibition;

- discourage microbial growth;

- be reusable.

The employment however of immobilised enzyme reactors has a number of problems

as well, such as:

. loss of activity due to denaturation or poisoning;

- reduced enzyme-substrate contact due to changes in flow pattern/enzyme
distribution or fouling;

- microbial contamination;

- reduced productivity due to solubilisation of enzyme and support or

attrition of the support.
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The immobilisation of dextransucrase has been attempted by various
researchers but unfortunately it has been proven very difficult. The dextranst .asc
immobilization on anion exchange resins (eg. DEAE-cellulose and DEAE-Seph dex)
has been reported by Ogino (179) on Bio-Gel P2 beads by Rcbytetal (15 , 161 and
on polysulfone hollow fibers by Edwards and Drew (180). Kaboli et al ( 70 17
have carried out immobilisation work on Watman No 1 filter paper to Ln. ¢r ]
materials, to DEAE-cellulose, DEAE-Sephadex, A25, A50, porous s’lica a 1 to
SP-sephadex C-25 and C-50 at pH conditions between 3 and 7.

From all 13 carriers they surveyed only silica allowed more than 109
retention, and even that was still below 20%. More encou;aging results come from
Lopez and Monsan (174), who immobilized dextransucrase on an amino porous silica
(Spherosil), and obtained an immobilized activity of up to 83Q DSU per gram of
support. Because of the above difficulties in immobilizing the dextransucrase, in this

work the enzyme was added in the eluent stream at the required strengths.

4.10 Chromatographic Reactor-Separators

Although increasing interest is shown to the application of
chromatographic systems as reactor-separators, their employment in large scale
operations has not been materialised fully yet. So far an increasing amcunt of work is
carried out on the modelling of such systems to provide a better understanding of their
operation. During the operation the stationary phase in the system can either act as a
catalyst (ie. immobilized enzymes) and as adsorbent, or it can only act as adsorbent
with the reaction carried out in the mobile phase. The combined operation of
reactor-separators reduces the process costs (operating and capital) substantially,
improves the product yield by removing acceptors from the reaction mixture, results in
better conversions by removing the products and thus shifting the equilibrium in

reversible reactions, and can provide better process control. Since the early sixties,
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Roginskii et al (181 to 184) in USSR, and Magee et al (185, 186) in the USA r ported
the employment of chromatographic reactor separators and produced a theoretical basis
to describe its operation. A comprehensive review has been carried out by V 1 ermaux
etal (187, 188). Langer et al (189, 190) employed a liquid chromatographicr cto1 to
obtain kinetic rate constants. Mile et al (191) studied the catalytic dehydratior ©

cyclohexane to benzene in a gas chromatographic reactor and reported anerl 1 «n¢e)

of product yield above equilibrium, verifying the equilibrium displacement. U 1
and Rinker (192) carried out the exothermic ammoniz synthesis beyond equiliLrium
limitations by pulsing nitrogen, with hydrogen as the carrier, through a packed bed of
catalyst and adsorbant. Three columns were used of 0.63cm diameter and 95¢m long
packed with a mixed bed consisting of 50% catalyst and 50% adsorbant. They

suggested that it might prove economical in industry to use the pulsed chromatographic
reactor as a first stage in series with a conventional NH, synthesis reactor.

Takeuchi and co-workers (193, 194) studied the catalytic oxidation of CO
on a 1.4 cm id x 55cm long moving bed chromatographic reactor. Aris et al (195,

196) used a similar system to model the hydrogenation of mesitylene with excess
hydrogen over a P, on alumina catalyst. The system used was 1.27 cm dia x 17.8cm

long. Aris, Carr and Cho (197, 198) modelled the acid catalysed hydrolysis of
methylformate in a continuous flow annular chromatographic reactor with a rotating
feed point. The equipment was packed with activated charcoal and consisted of two
concentric cylinders, an outer of 20cm od and an inner of 17.8cm od. The total length
was 40.6cm. Hashimoto et al (199) used a continuous countercurrent system, for the
production of higher-fructose syrup (45 to 65% fructose), involving selective
adsorption of fructose and an immobilized glucose is:omerase reaction. Continuous

countercurrent contact of the liquid stream with the solid adsorbent was simulated by

advancing adsorption columns against the fixed inlets and outlets of liquid streams
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without actual movement of the solid adsorbent, while the ‘mmobilized en yme
reactors were stationary (also see Chapter 3.5). A total of 16 adsorption columns were
used packed with Y zeolite (Ca?* form). Each column was 1.38cm dia x 102
long. Seven reactors containing the immobilized glucose iomerase were conneciec to
the system, and were of 1.38 cm dia x 18cm long. Although fructose puriie f u (o
65% were obtained their prime objective was to model the operation.

The worlds first successful production of useful substances by biv actn
using an immobilized biocatalyst was the continuous production of L-meth orine b
asymmetric hydrolysis of acetyl-DL-methionine using immobilized amino acylase,
which was industrialized by Tanabe Seiyaku in 1969 (20).

HFCS is the only example of large scale commercial production utilizing
immobilized biocatalysts. The commercial success is attributed to two factors - the
development of highly active and stable glucose-isomerase and the progress of
immobilized technology. The list of companies employing or associated with the
~development of glucose-isomerase systems includes Clinton (US pat: 3788945),
Corning (US pat: 3992329), Novo (Brit pat: 1362365) and ICI (US pat: 3645848,
3935068).
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CHAPTER 3

5.0 THE SEMICONTINUQUS CHROMATOGRAPHIC REFINER (SCCR7)
5.1 Th mi inuous Principle of rati

511 In ti

When a multicomponent carbohydrate mixture containing fructoce, ;' co-~
and other oligosaccharides is eluted through a cation chromatographic column pec) ed
with calcium charged resin, a separation occurs (127). Fructose forms a locse ¢l ¢ «» ~ul
complex with the calcium ions and is retarded, hence it travels through the colvmnr ata
slower rate than the glucose and the oligosaccharides. The slightly different migration
velocities of the glucose, (a monosaccharide), and the oligosaccharides is due to the size
exclusion principle. The glucose molecules due to their smaller molecular size tend to
diffuse into and out of the pores of the resin and are delayed while the larger
oligosaccharides are excluded and are eluted faster. Although this results in an additional
separation between the glucose and oligosaccharides, the ion exchange principle, ie. the
fructose retention, is the more prominent one. A typical elution profile of such a batch
operation is shown in Figure 5.1.

If however a continuous operation is employed, where the mobile phase and
the stationary phase packing move countercurrently, and if the approprite operating
conditions have been selected the resulting elution profile is as shown in Figure 5.2.
The inherent advantages of continuous processes, such as product reproducibility,
increased throughputs and continuous operation with minimum supervision, led Barker
and Deeble (201, 78) into constructing and operating successfully a continuous
gas-liquid chromatographic system. Since then, similar liquid-liquid continuous
chromatographic systems have been developed in this Department with column diameters

up to 10.8cm (22).
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Figure 5.1: Concentration profile of a batch cocurrent scpara ‘o
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Figure 5.2: Concentration profile of a continuous countercurrent
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5.1.2 Principle of Operation

The principle of operation of the SCCR system is shown schemauacally n
Figure 5.3 where the whole system is illustrated as a closed loop. The multicomponent
mixture is fed at port F. The less strongly adsorbed glucose and oligosaccharides move
preferentially with the mobile phase towards the glucose rich product offtake P1 A
section of the loop is isolated at any time by the two locks V1 and V2. and an
independent purge fluid stream enters at port PU, strips the adsorbed fructose a::d €x1 s
from port P2 as the fructose rich product.

Figure 5.3(a) represents the component distribution within the system soon
after "start-up”. In Figure 5.3(b), all the port functions have been advanced by one
position in the direction of the mobile phase flow. This port advancement results in a
simulated movement of the stationary phase countercurrent to the direction of the mobile
phase. In order to achieve separation and hence two enriched products, the rate of port
advancement must be greater than the fructose migration velocity through the bed and
lower than the glucose and oligosaccharides migration velocity, Figure 5.3(c). The
frequency with which this port advancement occurs represents the “switch time".

Figure 5.4 demonstrates the counter-current operation mode of the SCCR7
system. The system is made up of twelve 5.4cm id x 75cm long stainless steel columns
connected at the top and bottom to form a closed loop. Six pneumatic poppet valves are
associated with each column, the feed, eluent and purge inlet valves, the glucose rich
(GRP) and fructose rich (FRP) product valves and the transfer valve to the next column.
Figure 5.4(a) represents the first switch period where column 1 is isolated and purged to
give the FRP product. Feed and eluent enter columns- 7 and 2 respectively and the
glucose rich product is eluted from column 12. In the next switch period, Figure 5.4(b),

all ports are advanced by one position; now column 2 is purged, feed and eluent enter
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Figure 5.3: Principle of operation of the SCCR system
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Figure 5.4: Sequential operation of the SCCR7 svstem.
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columns 8 and 3 and the glucose rich product exits at column 1. After twelve such

advancements the "cycle" is completed.
5.1.3 Ideali erating Condition

During the separation of a glucose-fructose mixture on the countercurrent
semicontinuous system, glucose travels with the mobile phase and fructose with the
stationary phase. An idealised model can be constructed relating mobile and stationary
phase flow rates and component separation. A material balance on glucose about the

feed point (Figure 5.5) gives:
Lz.fg = Lc.yg - P.xg

where: L, =feed flow rate (cm3 min1)

Le = mobile phase flow rate (cm3 min-1)
P = stationary phase effective flow rate (cm3 min-!) = total system

volume/(total number of columns x switch time)

f g= glucose concentration in feed (g.cm‘3)

Yg = glucose concentration in mobile phase (g.cm3)

Xg = glucose concentration in stationary phase (g.cm™)

For a glucose molecule to move preferentially with the mobile phase
Lc.yg > P.xg ........ 5.1
Rearranging, Ie . Xg

>
P Yg

v .2
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Figure 5.5: Diagramatic representation of the semicontinuous
principle of operation
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and since by definition:

- g
dg=—— 53
Yg '

Then
Le 54
—> Kdg

P

Similarly for fructose to move with the stationary phase,

Le 5.5
— < Kgf

5

The theoretical limits of mobile and stationary phase to give separation of
fructose and glucose are obtained by combining equations 5.4 and 5.5, ie.

1e reeene 5.6
Kdg < — de

P
As each column contains eluent phasein the void volume, Vo, the effective
mobile phase flow rate is reduced to:
Vo ’ sy Dol

S
s
where L= Mobile phase inlet flow rate (cm3 min’1)

s = Switch period (min)

Because of the feed flow rﬁtc L,, the effective mobile flow rate is different

before and after the feed point. That means the effective mobile phase rate in the post
feed section Lfc, becomes:

s

Le=Le+L, = L,+L,- Vols ‘ rovres 5.8

Therefore equation 5.6 becomes:

Le e 5.9
Kgg< — < ——— < Ky
P P

102



and this equation now gives the true theoretical limits.

The purging flow rate L, in the isolated column is also governed by:

I,

—_—— D> de i D04
P \

59 ription of

5.2:1 Verview

The separation section of the SCCR7 system consists of 12 stainless steel
columns 75c¢m long and of 5.4cm internal diameter, Figure 5.5. The equipment was
originally constructed by Ching (203), and modified by Chuah (204). Abusabah (22)
modified it further by replacing the 2.5cm id columns by 5.4cm id stainless steel
columns which were packed with an anion resin. The instability problems of the anion
resin experienced by Abusabah (22) in conjunction with specific industrial interest led to
the repacking of the columns with a calcium charged 7% cross-linked polystyrene resin.
This cation resin was supplied by FINN-SUGAR Engineering, Finland, under the trade
name KORELA VO7C and had a particle size range between 150 and 300 pm.

The equipment layout is shown in Figure 5.7. The columns are mounted on a
mobile frame and are surrounded by a constant temperature enclosure. The inlet and
outlet lines are arranged in a ring distribution network, connected to the supply pumps
and product collection devices. The sequential functioning of the poppet valves is
governed by a pneumatic controller. A description of the individual units of the
equipment is given in the following sections. A more comprehensive description has

already been reported by Ching (203) and Abusabah (22).
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Ficure 5.6: Picture of th R m

Key:

1. Feed Tank
2. Heated aspirator for the eluent and purge
3. Automatic cut off
4. Pumps
5. Mains distribution board
6. Pneumatic controller
7. Product splitting timers
8. The SCCR7
9. Valves

104






i

F..._“ S

e




223332

a9 9
a0
S B
L
L ]
LR

+ 843333




dund bButxejsw :gp
I03BOTPUT MOTF :TIJd
I3TTOAJUOD T9aAdT D7

aanTea Jar1Tax aanssaiad :pAHd
asuadwep uotjesind :qd
Io3edTput @anssaxd :d 49y

Toa3uU0D

butjesy yaym
9TjueWOST

NM_ 3N 39dNd

— dW
® C;

(&) —(6)—( n 2
LY IS @
1 @u ANIT IN3NT3 dW
4_ H3ITIOHLNOO
OLVYIN3N
| -S——
e -
IDTTOaIJUOD
: but33yTt1ds 3onpoadg
SUOT3}DBAJ SUOT}DRIJ ite passaidwo)d
YyoTta yota
asoonTH as0j3on14g

I93eM pa8sTuoTaqg

anodeT juawdrinby :/.°g mu:mﬂu

105



5.2.2 The Columns and Fittines

The twelve columns were fabricated from type 321 seamless stainless steel
tube, and were designed according to BS 5500: 1976 for pressure vessels. Each column
is of 5.4cm internal diameter and 75cm long, and is fitted with ten 20mm x 1/8 BSP
sampling points. These sampling points were 2 cm long stainless steel rods welded to
the column and having 2mm holes drilled through them. The rod ends were plugged
with silicone rubber septa which were held in position by simplifix nuts. Samples were
taken by inserting hypodermic needles through the septa to the inside of the column.
Two 130 x 10 mm mild steel flanges were fitted on each end of the columns and a 2
mmthick neoprene gasket was used to seal the two gaskets together. The inlet assembly
consisted of a 65 x 40mm polypropylene inlet head, and a compression plunger to
prevent the swelling and contraction of the resin. The plunger was made of a 130 x 19
mm stainless steel rod and a 54 x 50pum polypropylene piston. A polypropylene ring
was fitted at the piston's end and it retained a 100pm polypropylene mesh and a
polypropylene distributor which was used to ensure an even velocity profile at the
colunn inlet. Two Dowty O-rings, no. 20-830-4470, were fitted around the
polypropylene piston to ensure perfect sealing, and the first 10cm of the column's inlet
was accurately machined.

Five 12.7 x 1/4 BSP ports were tapped on the inlet head to accommodate
CK-1/4-PK4-KU type FESTO plastic connectors for the feed, eluent, purge and transfer
lines and the piston rod. Inside these ports a 12mm x 2mm thick neoprene gasket,
having a 6mm diameter central hole, was fitted to prevent leakages. Liquid channels of
3mm diameter were drilled through the head, the plunger and the piston.

The outlet assembly consisted of two parts, a stainless steel packing support

and a 70 x 38mm polypropylene head machined to a T-shape to form a bottom 70 x
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10mm flange. The packing support had two meshes of different sizes sandwiched
together. The top mesh was a 50pum mesh used to prevent fine resin particles coming
through and thus blocking the liquid ducts, and the bottom was a 100pm mesh which
was used as bed supporting mesh.

Three 12.7mm x 1/4 BSP ports were tapped on the outlet head and were fitted
with the same Festo fittings as the inlet head. The ports were connected to the fructose
rich and glucose rich product lines and the transfer line. A 3° cone was turned on the
inside face of the outlet block to ensure uniform flow of liquid out of the column. One
2mm thick neoprene gasket was placed on each side of the support mesh to prevent
leakages when the mesh, the outlet head and the mild steel flanges were clamped

together.

5.2.3 Hyvdraulic Compression Facility

The packing was kept compressed by incorporating a dynamic hydraulic
facility. The top flange in the column inlet was fitted with a 45 x 20mm stainless steel
sleeve, a 6mm g‘as tap and é 1/8 BSP port fitted with a CK-1/8-PK4 Festo connector.
Two Dowty O-rings, no. 200-113-4470 were fitted at the top of the piston to seal on to
the stainless steel sleeve. Deionised water was introduced to fill the compression
compartment and air was bled out via the gas tap. The compression compartments of all
the columns were linked together with a 4mm id polyamide Festo PP4 tubing to form a

closed loop.
524 P t Valves and Pneumatic Controller

The control of liquid flow into and out of the columns and hence the

countercurrent operation was achieved by the pneumatic operation of a total of 72 double
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acting poppet valves. Previous work on the SCCR systems (201, 203, 205) has led to
the conclusion that this type of valve would offer a higher degree of reliability, smoother
operation and a wider range of operating conditions. The valves were constructed by
Aston Technical Services Ltd and the prime objective was to keep the internal volume to
a minimum, thus minimising the system's dead volume. The sequence of the valve
settings for every switch during a cycle is shown in Table 5.1. Compressed air was
supplied by the University's main air copressor with an air cylinder as a stand by, which
would be used if the main supply pressure had fallen below 580 KN m2. A pressure
relief valve, set at 700 KN m2, was fitted on the main air supply line.

The supply was divided into bias and actuating streams whose pressures were
controlled to 240 KN m™2 and 550 KN m™2 respectively by a pressure regulator. The
bias supply line was branched and led directly to the poppet valves while the actuating
line was led to the pneumatic controller. All the pneumatic lines were made from Festo
PP3 polyamide tubing having a 3mm inside diameter. Figure 5.8 is a photograph of one
of these valves with its parts. Normally the valves were closed due to the bias pressure
which was applied constantly to the lower side of the diaphragm. The valve was opened
by applying the af:tuating pressure to the upper side of the diaphragm.

After long continuous operation it was found that the nuts on the valve stems
were becoming loose thus preventing the valve from closing fully. To avoid that
happening again a locking nut was incorporated.

The operation of the poppet valves was governed by a pneumatic controller.
The control mechanism consisted of a number of solenoid valves activated individually
by a rotating Festo type PN-20B camshaft mechanism. Twelve of these solenoid valves
were set for the twelve columns and each valve would directly activate the appropriate
transfer valve to isolate the corresponding column. The solenoid valves were each
linked to double return valves which would activate the appropriate feed, eluent, and

purge inlets and the product outlets. A digital timer programmable down to 10 seconds
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Figu : Ph h of a Poppet Valve and its Pa
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was incorporated to control the rotating mechanism which in turn opened and closed the
solenoid valves at a fixed time period. Any change to the sequence of operation of the
poppet valves can be achieved by altering the relative positions of the coloured "program
carriers" on the rotating mechanism. The timer was set at a preselected fixed time period
which corresponded to the switch time, and at the end of that period an electrical signal
was triggered, activating the electric motor to rotate the camshaft unit to the next

position.

5.2.5 yid Delivery and Pressur: ntrol
5.2.5.1 Fluid Delivery

An Elgastat B224 deioniser was used to provide the deionised water for the
eluent and purge streams. This water was passed through a GELMAN Acroflow I
cartridge of 1.2um pore size and a MILLIPORE carbon cartridge in order to remove any
impurities and any ions present, and it was stored in an elevated 1.2 x 10" m3
polypropylene reservoir. This reservoir was used to minimise any possible hazards
during the ovérnight unattended operation. The deionised water was then fed by gravity
through a 4mm id Festo tubing and a sol-cnoid valve into a 7.5 x 102 m3 heated glass
aspirator. The water level inside the aspirator was governed by a FISONS level
controller.

The feed mixture was filtered and fed into a 2 x 102 m3 elevated glass
aspirator. The feed then flowed under gravity, through a preheater and a flow measuring
device, into one of the pumpheads of an MPL Series II double head metering pump.
The feed was then pumped into the system through the feed supply network.

The eluent stream was pumped from the glass aspirator and through a flow
measuring device to the second pump head of the above metering pump. Four different
pump heads were available with different maximum flow rates, ie. 10cm? min'!, 20cm3

min!, 40cm3 min"! and 55cm3 minl. The eluent was pumped into the system through
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the eluent supply network. The purge was pumped from the glass aspirator into the
system purge network by an MPL K-series metering pump. Two pump heads were
available, a positive displacement piston head capable of high pressure drops and a
maximum flow rate of up to 100cm? min"!, and a diaphragm head for low pressure
drops and flow rates of up to 2000 cm3 min-!. Whatman Gamma 20 type in line filter
holders fitted with 25um filter tubes were incorporated on each of the inlet lines to
remove any fine particles and dirt, thus preventing any possible blockazes. All the liquid
supply lines were made of Festo PP4 polyamide tubing having an inside diameter of
4mm and were arranged in such a way to form an upper and lower ring. To minimise the
system's dead volume the columns were mounted in such a way so that for two ad)acent
columns the inlet of one was at the top and for the other at the bottom. Because of this
column arrangement, it was therefore necessary to have an upper and a lower pipe ring
for each one of the inlet and outlet streams. Although the column interconnecting tubes
were kept to a minimum, the total dead volume of the system taking into account the
poppet valves was estimated at 6%. The collection of both products was into two 8 x

102 m3 plastic containers.

5.2.5.2 Pressure Control

A Bourdon pressure gauge and a safety relief valve was fitted on each of the
liquid supply lines, and were set at 1040 KN m2 and 275 KN m2 for the eluent and

purge lines respectively.
Smooth liquid flow was ensured by incorporating a pulsation dampener on

each of the eluent and purge supply lines. The dampeners were made of stainless steel

and nitrile rubber diaphragms.
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To allow safe continuous unattended operation a number of safety devices
were introduced. These included the liquid level controller, high pressure relief valves
and a low pressure sensor and cut-off device. This automatic cut-off device was
constructed by the Department's electronic workshop. The pressure sensor was
connected to the mains and to the eluent delivery network, and it was fitted with an
adjustable pressure switch which was detecting minimum pressure. This minimum
pressure was set at 10 KN.m™2, When the operating pressure was above the minimum
one, the electrical circuit from the mains, through the sensor and out to a secondary
mains plug was completed. The electric terminals of the pumps, the liquid preheater and
the level controller were connected to a distribution board which in turn was connected to
the secondary mains plug. In case of an emergency, such as valve leakage or tube
bursting, the system pressure would drop below the minimum set value. This would be
detected by the pressure sensor and the electricity supply to the secondary mains plug
will be broken.

- During the start-up this safety cut-off was bypassed, by pressing manually a
spring loaded overriding switch fitted on the pressure sensor, until the operating

pressure was above the minimum set value.

5.2.6 Product Splitting Automation

As an attempt was made to increase the product concentrations, it was decided
to separate the more dilute product fractions by fitting two product splitting devices. One
device was fitted on each of the glucose rich and fructose rich product lines and they
were operated independently. Each device consisted of a RS 346-390 digital timer and a
3-way solenoid value supplied by AJ Foster Ltd (Manchester). Each timer had six time
ranges, set by front panel switches from 0 to 9.99/99.9/999 seconds and O to

9.99/99.9/999 minutes, and it was connected directly to the corresponding solenoid
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valve. After a preselected time interval the solenoid valve was switched from one outlet
position to the other, thus allowing the splitting of the corresponding product line into

two separate lines.

5.2.7 Heating Facilities and Controls

The twelve columns, the valves and the fluid inlet and outlet networks were
placed inside a heated enclosure constructed from galvanised steel sheets lagged with
50mm thick glass fibre pads, .anr.:l covered by aluminium foil.” The enclosure was heated
by a U-shaped 5 kw fan heater which was controlled by a Diamond DH82 type
temperature controller. Additional safety devices were incorporated which would cut-off
the electricity supply if the temperature inside the enclosure exceeded 70°C. The hot air
was circulated by an electrical fan placed at the centre top of the enclosure. The
temperatures of the enclosure, the surface of the individual columns, and of the liquid
inside each column were measured by a network of Nickel-chrome thermocouples. The
thermocouples were placed at the middle of each column, in the transfer lines and in all
three inlet Iinhcs. The thermocouple terminals were connected to a multi-point switch,
which displayed temperatures as millivolt potentials on a proportional digital controller
. supplied by Diamond Controls Ltd. The millivolt reading was converted into
temperature using a callibration chart.

The feed solutiori was heated by passing it through a liquid preheater. The
preheater was made of a 25.4mm id glass column, wrapped with a tape heater and

insulating material. The tape heater was controlled by a temperature controller.
The deionised water used as eluent and purge solution was heated inside the

7.5 x 102 m3 glass aspirator. The aspirator was jacketed with a 5 kw and 2 kw electrical

heaters. During start-up both heaters were used to boost the temperature to the required
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value. Then the 5 kw heater was switched off, and the 2 kw heater which was

connected to a thermostat, was used to control the temperature.
Product Quenching Unit

The SCCR7 system was to be used subsequently as a reactor-separator, and
to stop the reaction carrying on outside the columns and inside the product lines, a
quenching unit was installed in each one of the product lines. The quenching unit on the
main product line was ﬂlade upof 2 0.5 kw immersion heater sealed inside a 45cm x
4cm glass. tube fitted with Smm inlet and outlet ports. Because of the higher flow rates
of the purging stream a 1 kw immersion heater was used inside a 48cm x 7.5cm glass
tube in a similar arrangement.

Both quenching units were insulated and the temperatures were controlled at
60°C by a Diamond DH82 temperature controller. The glass tubes were constructed by

the University's glass blowing department.
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Table 5.1: Sequences of Valve Scttihgs

Valves Sequents

Transfer Transfer Purge FRP Feed Eluent GPR

1 12 1 1 8 2 12 1
2 1 2 2 9 3 1 2
3 2 3 310 4 23
4 3 4 4 11 5 3 4
5 4 5 5 12 6 4 s
6 5 6 6 1 7 5 6
7 6 7 7 2 8 6 7
8 7 8 8 3 9 7 8
9 8 9 9 4 10 g 9

10 9 10 10 5 11 9 10

11 10 11 1 6 12 0 11

12 11 12 12 7 1 11 12
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CHAPTER 6

6.0 COLUMN CHARACTERISATION AND THE EFFECT OF WIDE FEED
BANDS

6.1 Introduction

A substantial amount of analytical work has been carried out by previous
workers (22, 203) to investigate the separating capacity of a wide range of packing
materials. The experiments were carried out in small batch chromatographic columns
and the packing performance was investigated under different operating temperatures and
flow rates. The overall findirigs were that, for fructose-glucose separations the cation
exchangers were better at operating temperatures of up to 30°C and comparable to anion
exchangers at higher temperatures. The main advantage found for the anion exchangers
was that higher fructose rich product concentrations could be obtained during
semi-continuous chromatographic separation of sugar solutions, because fructose was
the non-retarded component and was eluted with the mobile eluent phase. The
application however of anion exchangers is limited because they are prone to mechanical
fouling and auto-oxidation. In addition to packing stability and separating capacity other
factors such as capital cost and pressure drop must be considered during the packing
selection for large scale operations.

In this work the KORELA VO7C cationic packing was used because of
specific industrial interest by sponsors of the research work. The packing was 7%
cross-linked polystyrene, and it was supplied in the calcium form by FINN-SUGAR
ENGINEERING, Finland.

For comparison purposes column packing and characterisation techniques
similar to those adopted by previous workers were used. The column characterisation
was carried out at inifinte dilution couditions, ie. ve£y low sugar concentratidns. In

practice however high sugar concentrations and broad feed bands are encountered, and

~ their effect was investigated.
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6.2 Column Packing

6.2.1 Particle Size Analvsis of the Resin

A particle size analysis was carried out using BS410 (1976) meshes. A
sample of the resin was dried by leaving itin 2 25°C oven for 12 hours, and then 100g of
the dried resin were sieved. The results are shown on Table 6.1. It was found that over
99% was within the 150 to 300 pm size range, with over 94% being within 212 and
300pum. The results agreed well with those quoted by FINN-SUGAR, ie. 95% within
40% of a mean (27d pm).

A settling technique was employed to remove the very small amount of fines
present to avoid any blockages in the valves and column inlet and outlet ports. Two
volumes of water were added to one volume of resin. The mixture was shaked
vigorously and it was left to settle for 20 seconds. The top layer containing most of the

fine particles was decanted, and the technique was repeated twice more.

6.2.2 Column Packine Technique

The old packing was removed from the columns and new neoprene gaskets
were fitted. Each column was filled with deionised water and its outlet was connected to
a suction creating device.

The packing slurry, consisted of one volume of resin and one volume
deionised water, and was added at the column inlet at the same rate as water was
removed. This slurry packing method was used to minimize the segregation of particles
apparent in gravitational settling. During the packing procedurc deionised water was
added continuously and the column was tapped at random. When the packing had
reached a height of approximately 66cm the procedure was stopped, the inlet plunger
fitted and the column reassembled. Deionised water was pumped through the packed

column for two hours to remove any remaining fines.
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le 6.1: Sieve analysis resu f th V

Size range Weight collected Average mass
pm % fraction
> 355 0.45 0.0045
300-35 0.80 0.0080
250-300 72.00 . 0.7200
212-250 22.10 0.2210
180-212 355 0.0355
150-180 0.60 0.0060
125-150 0.35 0.0035
<125 0.15 0.0015
Total 100.0 1.00
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6.3 Experimental Procedure

6.3.1 Equipment Set-up

The newly packed column was connected in an arrangement similar to the one
shown in Figure 6.1. Eluent was delivered through a flow measuring device and
through a T-piece using the same MPL metering pump used to deliver eluent into the
SCCR7 system. The T-piece was connected as close as possible to the column inlet and
a rubber seprum was fitted to one of the T-piece inlets. The sample was loaded into the

column by insering a needle through the septum.

A similar T-piece was connected at the column outlet. The main stream of
product was collected in the product collection reservoir. A sampling needle was
inserted into the rubber septum at the outlet T-piece allowing a small product stream to
bypass through the sample detection arrangement. This arrangement consisted of a
Technicon autoanalyser, proportioning pump, a Jobling laboratory refractive index
detector linked to a Venture Servoscribe Type 2 chart recorder. The refractometer's
outlet stream was also collected in the product collection reservoir.

The refractometer was connected as close as possible to the column's outlet to

minimise any extra column dispersion.

6.3.2 Sarnple Preparation and Delivery

An eluent flow rate of 25cm> min™! was chosen because it was predicted to be
the appropriate operating flow rate of subsequent semicontinuous experiments and to
keep similar superficial velocities to the ones used by prcvioxis workers (204,206), thus
making a comparable performance evaluation of different size columns. Separate 10%

w/v solutions of Dextran T40, glucose and fructose were made, and a 5cm3 slug of these
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solutions injected through the inlet rubber septum. The eluent flow rate was kept
constant throughout the experiments by using the flow measuring device and adjusting
the stroke length of the metering pump, and a double check was made by measuring the
product volume collected at the end of the experiment. The experiments were carried out

at ambient temperature (20°C).

6.4 Verification of Column Parameters

The column parameters w.ere determined from the elution profiles of dextran,
glucose and fructose as shown in Figure 2.2. The elution volumes, Vj, of the individual
components were calculated by multiplying the eluent flow rate with the respective
retention times, tg;.

The elution volume of the totally excluded dextran T40, was used as the
column's void volume, Vo. The individual column volumes were expressed as voidage

or void fraction, ie. column void volume over total empty column volume. A measure of

the column's separation potential is the separation factor, &, and for a glucose-fructose

mixture is:
Kwdf

0=  —— e 6.1
K dg

where:

K°4f = distribution coefficient of fructose at inifine dilution
Kmdg = distribution coefficient of glucose at infinite dilution

The values of the distribution coefficients were determined using the

fundamental retention equation (2.3):

Ve=Vo+Egs¥%e s 6.2
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where:

V; = retention volume of component i

V. = column void volume = dextran retention volume

&)
VS = VT - Vo
VT = total column volume

K 4; = distribution coefficient of component i

solute concentration in the stationary phase

solute concentration in the mobile phase

Rearranging equation 6.2:

Kg; = —_— siin 0.3

Re-expressing equation 6.3 for glucose and fructose, their infinite dilution

coefficients are given by:

Vf = Vo

K% = _— s B8
Vope- Vc:‘
Vg - Vo

K""dg = — 6.5
Ve Vo

A widely used criterion for comparing the performance of a chromatographic
column is the height equivalent to a theoretical plate; HETP This is calculated by
dividing the bed height by the number of theoretical plates in the column, N. The
number of plates with respect to the individual component is calculated from the

corresponding chromatogram and using the original Glueckauf equation (2.11):
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Ni=8(

Where:

N; = number of theoretical plates based on component i
tRj = retention time of component i

Wh/e = band width at a height h/e (Figure 2.2)

¢ = logarithmic base

The results for the individual columns and the average values are shown in

Table 6.2.

6.5 Results and Discussion

The voidage is a measure of the packing density of a column and for a bed of
spherical particles its theoretical value is about 0.4 (207). The average column voidage
was 0.309. This lower value is because of the different packing geometry and because of
the non-uniformity of the packing material; that is, the smaller particles (< 220 pm) were
dispersed and filled the empty space between the larger ones (> 220 um). This was also
enhanced by the compression exerted by the piston plunger. Repeatable packing giving
identical voidages becomes more difficult as the column size increases. The packing of
the SCCR7 columns was very satisfactory since most of the voidages were close to the
average one with a maximum variation of up to + 8%. The average elution volumes
were 686.2 and 953.4 cm3 for glucose and fructose. ‘

The glucose molecules diffuse in and out of the intra-particle space and hence
are delayed with respect to the totally excluded dextran molecules. This results in the

larger elution volume for glucose. In addition to that the fructose molecules are retained
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further due to the chemical complex formation with the calcium ions thus giving even
higher fructose elution volumes. The average separation factor for a glucose and fructose
mixture was found to be 2.2, and the average number of theoretical plates per column
was 48 with respect to glucose and 32 with respect to fructose. This resulted in average
HETP values of 1.4cm with respect to glucose and 2.09cm with respect to fructose.
Variations in voidage, the distribution coefficients and HETP values from column to
column are due to the non-uniformity of packing and different degrees of calcium
charging of the individual columns. Ideally all these rolumn parameters should be
constant in order to ensure similar migration rates for the individual components through
successive columns. However, these variations can be tolerated in the SCCR7 system
because they are smoothed out along the 12 columns and the continuous cyclic operation
ensures essentially constant component migration rates through the system's separation
section.

Table 6.3 shows the characteristics of different size columns. All columns
were packed with calcium charged resins and similar ZEROLIT 225 SRC14 resin was
used for the 2.54cm id (204) and 10.8cm id (202, 206) systems. The results were
comparable to the ones‘obtaincd by previous workers aI.ld the SCCR7, 5.4cm id, system
had better separation potential, ie. lower HETP values. This is believed to be partly due
to the more efficient KORELA resin and to the better packing density achieved, ie. lower

voidage than the other systems.

6.6 Effect of Wide Feed Bands

The column characterisation was carried out using the initial Glueckauf
equation (2.11) and at infinite dilution conditions; very low injection volumes and low
concentrations, ie. 0.5 gram of carbohydrate (5cm3 of 10% w/v solution) was injected

once through a column having a total void volume of over 463cm3 and containing only
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eionised water. The distribution coefficient values and the "apparent" number of
theoretical plates obtained under the above conditions are valid since infinite dilution
conditions existed, and are used for comparing the SCCR7 performance against other
similar systems. This equation (2.11) however does not account for the increasing
separation difficulties encountered in reality due to increasing feed volumes.
Gluechkauf (42) modified his initial theory to account for wide feed bands and
developed equation (2.17) which gives the "true" number of theoretical plates, N. This

equation was rearranged in the following form:

N* P 7p? 0.0765 P3

Bl = 14+ — + + ereenes 0.7
N 3 45 1-0.565P

Where:

P is a systems loading related parameter and is an indication of the applicability of
equation 6.7, ie. its results are accurate for P less or equal to 1.6, and

N*

) (Sy

N* is the "apparent" number of theoretical plates obtained from equation 2.11, and for
the SCCR7 system its total value is 384 (based on fructose).

N, is the "appartent” number of theoretical plates occupied by the feed band.

The solution to equation 6.7 for a given No is the N value for which the ratio
B1 is very near or equal to 1. This. N value represents the total "true" number of
theoretical plates required to achieve complete separation, since it accounts for the actual
operating conditions where feed band broadening is taking place. This equation has
been obtained for batch columns, however it can be used for the semicontinuous
operation since during any cycle the system can be visualised as a "static" column with

the feed entering at the middle and the eluent at the inlet.
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The equation 6.7 was solved by trial and error using a simple interactive
Fortran 77 computer program for a wide range of No values. The calculated N and P
values (Appendix A) applicable to the SCCR?7 refiner are listed in Table 6.4 and are
plotted on Figure 6.2. The number of plates based on fructose are used since this is the
retarded component, and the component of main interest. This equation is applicable for
No values of up to 240 plates. As can be seen from Figure 6.2 the values of N increase
gradually for No up to 60 plates, and then show a sharper linear increase. To incorporate
these results into the simulation program (Chapter 10) it was decided to approximate the

N vs No curve by two straight lines as follows:

For No less than 60 plates:

N =3.85 x No + 339.40 ssonrier QA0
and for No greater or equal to 60:
N=713xNo+13953 e 6.10

The "apparent" number of theoretical plates is useful during the comparison of
different SCCR systems, however the "true" number of theoretical plates represents a
better measure of the system's separation potential, and for the actual operating

conditions it is expected to be greater than the "apparent” number.

128



Table 6.4: True number of theoretical plates (N), required for increasing feed bands

stem
No N
10 0.06 392
20 : | 0.23 413
30 0.44 4asd
40 0.66 482
50 0.86 529
60 1.01 584
80 1.22 710
100 1.34 846
120 1.42 987
140 1.47 1130
160 ) 1.51 1275
180 1.54 1420
200 1.57 1566
220 1.59 1712

240 1.60 1858
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Figure 6.2:

Plot of the "true" number of theoretical plates
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7.0 R AL PR D ND DE PMENT
7.1 n ction

In this chapter the analytical systems used for the sugar analysis of the
samples collected during the experimental work are described, and the performance and
suitability of the main analytical carbohydrate columns available are evaluated. A
detailed description of the experimental procedure, data collection and processing is
carried out. A historical review of the up to date development of the SCCR systems is
reported to justify the choice of the particular operating conditions used, and the effects
of the various factors affecting the separating performance are examined. A set of
general equations relating the effects of operating temperature, flow rates and
concentration on the distribution coefficients of the principal components glucose and
fructose has been developed, providing a better understanding of the separating
operation and assisting in selecting the best operating conditions for any
chromatographic system. Finally two commissioning runs are reported providing the

basis for further development.

7.2 nalytic m
7.2:1 tem ription

Resin based High Performance Liquid Chromatography (HPLC) columns use
the mechanisms of ion-exchange, liquid exchange, size exclusion, reversed and normal
phase partitioning (222). The applicability of the above mechanisms depends on the
compounds being analysed and the degree of selectivity required. Reversed phase and
ion-pairing HPLC techniques require complex eluent conditions for effective
separations, because they work on the principle of modifying thé sample to be analysed
until it is compatible with the column. In the resin based HPLC columns the column

packing material is modified instead to be compatible with the compound chemical



structure. Therefore resin based columns usually allow the use of an isocratic HPLC

system, and thereby simplify and speed up sample preparation and analysis.

Two isocratic HPLC systems were used for the analysis-of the samples
generated during the experiments, using deionised water as the eluent phase. The
majority of the barley syrup experimental runs were analysed using the first and rather

simpler HPLC system consisting of:

- an MPL Series II eluent delivery pump having an operating range of 0 to 2
cm?.min"!, (MPL Ltd, Feltham, Middlesex);

- a Waters Associates differential refractometer type R401, (Millipore UK Ltd,
Harrow, Middlesex);

- a Hewlett-Packard 3390 A integrator (Hewlett-Packard Ltd, Altrincham,
Cheshire);

- the analytical column was placed inside a glass jacket and it was kept at 85°C
by recirculating hot water using a TECAM C400 Circulator (TECHNE,
Cambridge);

-  the eluent was ciegasscd by keeping the eluent containing glass aspirator inside
a hot water bath which was maintained at 85°C. The eluent contained 0.02
gl'! calcium acetate;

- a 30 x 0.65cm SUGAR PAK1 (Waters Associates) column packed with
calcium charged resin. The eluent flow rate was 0.5 cm.min"l, and the
pressure drop was approximately 6900 KN m2;

- a pressure gauge was fitted between the pump and the HPLC column, acting

as a pressure indicator and as a pulsation dampener.
On the later stages of the experimental work the second analytical HPLC

system was acquired and was used in the analysis of the last three barley syrup

experiments and in the reaction-separation work. The system consisted of:
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7.2.2

a BIO-RAD HPLC 1330 Pump (BIO-RAD UK Ltd, Watford). The pump is
employing a two piston arrangement which operate out of phase by 180° thus
minimising any pulsations;

a BIO-RAD column block heater;

a BIO-RAD refractive index monitor model 1750;

a SPECTRA-PHYSICS SP4270 Integrator (St Albans, Herts);

and a TALBOT ASI-3 Autosampler (Alderley Edge, Cheshire);

the eluent was effectively degassed by heating it to 80°C. This was achieved
using an isomantle and a Baird and Tatlock (Atherstone Warwickshire)
temperature controller;

an Anachem (Luton, Bedfordshire) debubbler was used to remove any
bubbles that found their way inside the eluent delivery pipe;

in addition to the SUGAR PAKI1 column, a 30 x 0.78cm AMINEX
HPX-87C calcium charged BIO-RAD and a 30 x 0.65cm ALLTECH 700 CH
(Alltech UK Ltd, Carnforth, Lancashire) calcium charged HPLC columns
were used, and the operating conditions were kept the same, ie. 0.5cm3.min"!
eluent flow rate and 85°C temperature. The pressure drops were

approximately 6900 KNm™2 and 8300 KNm2 for the BIO-RAD and

ALLTECH columns repsectively.

Column Maintenance

The analytical HPLC columns are packed with fine particles, 5 to 10ptm, and

they effectively act as a depth filter. The resins although they are suitable for separating

certain solutes, they also are capable of retaining other impurities. This decreases the

column efficiency and selectivity and must be avoided. Therefore the following

precautions were taken:
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fresh deionized water was used and it was filtered using a 10um slip-on filter
(BIO-RAD);

all samples were filtered through a 0.45um GELMAN (Brackmills,
Northampton) disposable filter to eliminate insoluble particles;

by heating the eluent to 80°C it was degassed and prevented from bacterial
growth,

© 0.02 gI'! of calcium acetate were added in the eluent to replace any calcium
ions lost due to the presence of other ions and to prevent any on column
inversion of the injected sucrose samples;

deionized water was pumped for half an hour before switching the system off;
when the column was not used for long periods it was flashed through with
deionized water containing 0.02% sodium azide to prevent any microbial
growth;

after approximately 50 injections the column was reversed and cleaned by
pumping deionized water at 0.2cm3.min"! for over 6 hours;

when a reduction in column performance was noted or the pressure drop was
increased by more than 10%, the column was cleaned with a 30% acetonitrile
solution at 0.1cm3.min! and then regenerated using 0.1M calcium acetate.
The use: of calcium chloride, calcium nitrate or other salt formed from a
strong acid must be avoided since it may lead to column corrosion and
irreversible bed poisoning (223);

for additional protection a guard column was used. BIO-RAD Aminex
HPX-87C Micro-Guard cartridges were used initially but they were later
replaced with the more economical Hibar-Lichrocart 4-4 cartridges supplied
by BDH Chemicals Ltd (Atherstone, Warwickshire). The use of a guard
column was found to be essential because the insoluble matter present was
sufficient to clog the cartridge after approximately 24 hours of continuous

operation.
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7.2.3 lumn Sel
7.2.3.1 Introduction

Each column was evaluated in terms of life expectancy and resolution. All
three HPLC columns were similarly priced and had similar characteristics, ie. 30cm long
and having about 10000 theoretical plates. The experience gained from long term
column usage and the results obtained from the separation of test solutions, were used to

evaluate the merits of each column. The two test solutions were:

- test solution A, having a total sugar solids concentration of 10% w/v
containing:
2% wiv Dextran T40
2% wiv Surcrose
2% wiv Glucose
2% wiv Fructose

2% wiv Mannitol

- test solution B, having a total sugar solids concentration of 12% w/v,
containing:
2% wiv Dextran T40
2% wi/v Maltose
2% w/v Sucrose
2% wiv Glucose
2% w/v Fructose

2% w/v Mannitol

The test sample experiments were carried out on the second HPLC analytical

system, operating at identical conditions, ie:
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Eluent flow rate = 0.5cm3.min-1
Operating temperature = 85°C
Injection volume = 20um

Chart speed = 1cm.min"?

Refractive index monitor range = 32

Integrator attenuation = 128

1.2:3.2 lumn Life E n

The SUGAR PAKI1 column was used effectively for over 1800 injections,
and then a large pressure increase was detected. This was believed to be because of the
large pulsations created from the single head MPL pump, causing the collapse of the
packed bed. The BIO-RAD and ALLTECH columns were used mainly on the second
HPLC system (BIO-RAD) where the pulsations were kept to a2 minimum due to the
double-head BIO-RAD pump, thus overcoming the above problem. Over 1300 samples
have been analysed using the ALLTECH column which is still operating efficiently. The
pressure drop over the new BIO-RAD column was increasing continuously after 24
hours of operation, caused by change of the ionic form. It was believed that the low pH
(5.6 to 5.8) of the deionized water converted some of the resin into the sodium form
resulting in a "swelling" of the packing. This problem was solved by using distilled
water (pH 6.5) instead, and adding 0.02 gl'! of calcium acetate as a precaution, and

approximately a further 1200 samples have now been satisfactorily analysed.

7.2.33 lumn Resolution T

The results of the analysii; of the test samples are shown in Tables 7.1 and 7.2
and the chromatograms are shown in Figures 7.1 to 7.6. The retention times are similar

for the SUGAR PAK1 and ALLTECH columns. The respective times are almost 50%
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longer in the BIO-RAD column and the peaks are flatter and broader (Figures 7.3 and
7.4). The BIO-RAD column gives the best glucose-fructose resolution with the SUGAR
PAK1 also being competitive. Disaccharides are separated from monosaccharides by
size exclusion. The disaccharides are eluted together in both the SUGAR PAKI1 and
BIO-RAD columns thus making the separation of sucrose from maltose impossible
(Figures 7.2 and 7.4). In the ALLTECH column the sucrose is eluted as two distinct
peaks having retention times similar to glucose and fructose, (Figure 7.7) indicating that
the sucrose has been inverted by the nature of the resin. Therefore samples containing
sucrose, glucose and fructose could not be analysed using the ALLTECH column
(Figures 7.5 and 7.6). This problem was reported to the supplier and the column was
replaced. The new column did not exhibit the above behaviour, ie. there was no sucrose
inversion, and glucose, fructose and sucrose were separated successfully (Figures 7.8
and 7.9 also Tables 7.1 and 7.2). As in the SUGAR PAK1 and BIO-RAD columns the
disaccharides were eluted at the same time. The SUGAR PAK1 column was favoured in
the enzyme studies because it was found to be more compatable with the nature of these
samples (224). Towards the end of the experimental work a 25cm long Polypore CA
(calcium charged) column \supplicd by PIERCE UK Ltd, (Cambridge), was evaluated.
The recommended eluent flow rate was 0.3cm3 min-!, and the remaining operating
conditions were the same. The resolution obtained at this eluent flow rate (Tables 7.1
and 7.2 and Figures 7.10 and 7.11) was inferior to the other columns and not
satisfactory. There was no further improvement in separation when alternative eluent

flow rates were used, ranging from 0.1 to0 0.5 cm> minl.

7.2.4  Conclusions

The column is the heart of the HPLC system, and the success of the analysis
depends on selecting precise opcraﬁﬁg conditions and on proper maintenance. Therefore
the maintenance procedure described in Section 7.2.2 must be followed. Distilled

deionised water must be used and the pH should be kept between 6.5 and 7.
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Table 7.1: Analvsis of Test Sofution A

HPLC Column
AIITECH

Component SUGAR-PAK1 BIO-RAD Oid New PIERCE
g
D Dextran T40 4.66 8.17 453 435 4.86
£~ Sucrose 7.33 10.17 - 7.19 5.69
-2 Glucose 9.14 12.29 8.81 9.06 6.60
e Fructose 11.16 15.40 1054 11.19 7.85
£ Mannitol 13.89 20.40 12.88 14.05 9.87
=4
2 Dextran T40 2 2 2 2 2
=  Sucrose 2 2 - 2 2
» Glucose 2 2 3 2 2
© Fructose 2 2 3 2 2
S Mannitol 2 2 2 2 2

2. Analvsis luti
HPLC Column
ALITECH

Component SUGAR-PAK1 BIO-RAD Old  New PIERCE
¢ Dextran T40 4.66 8.13 453 435 4.85
T Maltose 17.36 110.20 7:13 {7.23 {S.’?O
= Sucrose - :
OS2 Glucose 0.13 12.27 8.81 9.07 6.58
£~ Fructose 11.15 15.37 1054 11.20 7.86
¢ Mannitol 13.88 20.33 12.88 14.05 9.88
&

Dextran T40 2 2 2 2 2
2 Maltose { 4 {4 2 {4 {4
= Sucrose -
® Glucose 2 2 3 2 2
v Fructose 2 2 3 2 2
S Mannitol 2 2 2 2 2
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Floure 7.1:; Elution profile of test sample A Figure 7.2: Elution profile of test sample B

using the SUGAS-PAK] column Using the SUGAR PAKI column

-
4.66 7.36
4.66 7.33 13.89

11.16 13,88

11.15

N

Figure 7.3: Flution profile of test samcle A using tha BIO-RAD
column

Ficure 7.4: Elution profile of test sample B usinc the BIO-RAD Y
column

10.20

B8.13

15.37
20.32
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Figure 7.5: Elution profile of test sample A Figure 7.6: Elution
3 profile of test sample B
using the old ALLTECH column using the old ALLTECH column

4.53 e.81 10.54 12.88 4.53 7.13 ©8.B! 10.54 12.88

‘ P _

Figure 7.7: Standard sucrose elution srofile
from the cliéd ALLTECS column

10.31
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S.%, Elution profiie of tes: samole B

using tne new ALLTECE column

Fagure 5.6+ Elutior proiiie of test samale b Pioure
using the new ALLTECH column
4.35 7.19 4.35
|
11.19
14.05

Figure 7.10: Elution profile of test solution A

using the PIERCE column

9.87
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When the glucose-fructose separation is of prime importance the BIO-RAD column
offers the best resolution. No column can be used for the separation of disaccharides.
The BIO-RAD column offers a slightly better resolution, while the ‘stability of the
Alltech's resin is questionable. The SUGAR PAKI1 column is more compatable with
samples containing enzymes and proteins, gives a good resolution of the basic

carbohydrates and offers a long life expectancy and is therefore strongly recommended.

73 Experimental Procedur¢ for the SCCR7
7:3.1 Feed Preparation

The industrial syrup was provided by FINN-SUGAR ENGINEERING,
Finland, and had a 70% w/v total sugar solids concentration. It contained approximately
42% fructose, 52% glucose and 6% impurities. The impurities were mainly maltose and
other oligosaccharides which were not identified by us or by the suppliers. The syrup
was diluted with deionised water down to the desired concentration for the particular
experiment. The new solution was analysed using the HPLC system and it was
readjusted if needed. The results of the final HPLC analysis of the syrup provided the
basis for the mass-balance calculations. When the experiments were conducted at low

temperatures and concentrations 0.02% w/v of sodium azide, NaN,, was used to prevent

any biological growth. At high concentrations and temperatures the bacterial growth is
inhibited, therefore the addition of sodium azide is not necessary and must also be
avoided because at high temperatures (> 60°C) it can form a highly explosive salt with

the copper, lead or brass metals present.

7.2 -up Pr

Safe operation was ensured by operating in accordance with the following

steps:
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&3
7.3.3.1

the desired temperature settings were selected and the eluent-purge, feed,
column oven heaters and the fan were switched on;

each valve was checked by using a low switch time to ensure that they were
operating properly;

then, the digital timer controlling the switch time was set to the required value;
all inlet valves were opened and the product collecting containers were
positioned. When an automated product collection was used the appropriate
timers were set to the proper values;

the eluent, feed and purge pumps were set to the required flow rates, and were
switched on;

when the right operating pressure was reached the "automatic shut-off"
mechanism was activated, and all the other controllers were checked

finally, the experimental run started by switching on the digital timers

simultaneously.

Procedures during the Experimental Run

ollection

The eluent, purge and feed flow rates were checked frequently during every

cycle to ensure constant operating conditions. The pressure drop and the temperature

inside the delivery network, at the column surface and inside the enclosure were

recorded during each cycle. At the middle of each switch, samples were withdrawn

from the same sample point on the same column and were analysed to produce the

on-column concentration profiles for each cycle. This was possible because during the

twelve switches of a cycle, each column served every function, ie. as a feed, eluent

entry, purge column or any other column of the separting length.
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At the end of the cycle the product collecting vessels were weighted and
analysed and a mass balance was carried out. When a pseudo-equilibrium was reached,
usually after 6 or 7 cycles, the results of the last two cycles were used: to indicate the
systems performance. At the end of the last cycle either a new run was commenced or
the system was purged. If a new run was started, the new operating conditions were
set, ie. new flow rates, feed stock or switch time were selected. By employing this
technique it was found that four additional cycles were enough to reach the new
"pseudo-equilibrium" corresponding to the new settings, because the on-column sugar
concentrations were already built up.

If the purging of the system was selected, then at the end of the last cycle all
pumps were switched off, and the feed heater was also switched off. The control
system was switched to manual and the new purging period was set on the digital timer,
usually 12 to 16 minutes.

The purge pump was switched on and the product was collected in a separate
container and analysed. The procedure was repeated until all columns were purged out.
The plotting of these data gave the purging concentration profiles and represent the
average column concentrat‘ionS for the particular operating conditions. This is the main
difference between the purging and on-column concentration profile where the sugar
concentrations are point and not bulk concentrations. The operating conditions and
results of each experimental run were presented in a standard form and the run was
defined with a set of five figures. For example, the set 55-13-39-24.5-50 corresponds
to feed solid content (% w/v), feed flow rate (cm>.min"!), eluent flow rate (cm3.min-1),

switch time (min), and operating temperature (°C) respectively.
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7.3.3.2 Establishing "Pseudo-Equilibrium"

Due to the semi-continuous nature of the SCCR7 only a "pseudo-equilibrium"
state can be achieved and not a "true" equilibrium like in any other continuous
counter-current mass transfer process, ie. distillation. When the on-column
concentration profiles of two consecutive cycles were identical, within experimental
accuracy, the "pseudo-equilibrium" state was deduced to have been reached, (Figures
7.12 and 7.13). The reference points were the relative concentrations in the
corresponding columns and the positi_o:n of the "cross-over" point, ie. the point of

intersection of the glucose and fructose profiles.
7.3.4 hut-down Procedu
The shut down procedure was as follows:

- all pumps were syvitchcd off;

- the eluent-purge, feed heaters, the enclosure heater and fun were switched off;
- the product lines were blocked to prevent the packing from drying out;

- the digital timers were switched off;

- the main valve in the deionised water supply line was closed;

- the compressed air supply was closed.

When the SCCR7 system was not to be used over long periods then 0.02%

w/v sodium azide was pumped through to prevent any bacterial growth.
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7.4 velopment of the S System:

7.4.1 Equipment Development

The development of continuous counter-current chromatographic equipment
has been carried out by Barker and co-workers over the last twenty years. In the
prototype equipment (72) a packed torroidal bed was rotated past stationary feed,
product and eluent ports and a mobile phase valve. Equipment based on this principle
have been used with gaseous mobile phases (72) and liquid mobile phases (208)
successfully on a small scale. The scaling up of systems with such a conformation was
difficult because of practical limitations with regard to the length of the chromatographic
column, and subsequent apparatus divided the packed bed into short interconnécted
column sections which were arranged parallel to one another to form a compact tube
bundle (208, 209). The tube bundle was rotated in a similar fashion past fixed ports and
a mobile-phase valve. While this type of chromatographic equipment has been successful
with columns of up to 2.5cm diameter, direct scale-up for production scale purposes is
not convenient due to the problems of achieving large moving face seals with the
necessary sealing efficiency and the difficulty of rotating the heavy column arrangement
at a constant speed. ‘ ' _

These limitations together with useful experience gained from earlier work led
to the construction of the first semi-continuous chromatographic refiner SCCR by Deeble
and Barker (78) fifteen years ago. The major difference between the principle of
operation of the SCCR unit and the earlier smaller scale CCR units lies in the fact that
instead of the packed section rotating in a clockwise direction past fixed inlet and outlet
ports, in the SCCR unit the inlet and outlet ports advance in an anti-clockwise direction
past fixed columns (78). The equipment was operated as a Gas-Liquid chromatographic
separator and the counter-current movement was achieved by operating a number of
solenoid valves in a similar way as described in Chapter 5. The original system
consisted of twelve columns, each having an effective height of 61cm and 7.6cm

diameter (77, 78, 210).
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The successful operation of the Gas-Liquid SCCR equipment (77, 210) and
encouraging results obtained from the earlier Liquid-Liquid CCR units (208) led to the
construction of the first Liquid-Liquid SCCR3 equipment in the mid-seventies (211).
The special features incorporated into the design of the SCCR3 unit were based on
experience gained with the earlier machines and the envisaged experimental program.
The SCCR3 unit consisted of twenty 70cm long and 5.1cm id glass columns, packed
with porous silica (Spherosil XOB075) and was operated in the gel permeation mode,
GPC, investigating the continuous fractionation of dextran.

The successful operation of the SCCR3 system verified the scaling-up
potential of the systems employing this technique. The next development step was the
construction of the SCCR4 system (203), consisting of ten glass 70cm long columns of
2.54cm id, packed with Zerolit 225 SCR14 calcium charged resin, used for the
separation of glucose-fructose mixtures by employing the ion-exchange principle. The
main development was the replacement of the solenoid valves by pneumatic valves
governed by a pneumatic controller. This was a direct result of the operating difficulties
and structural weakncssc; encountered in the solenoid valves and also to provide
additional flexibility, safety and operational reliability. The development of the SCCR
systems was carried out in parallel according to the operating principle employed. In one
case the SCCR3 unit was repfaced by the SCCRS unit consisting of ten 70cm long by
5.4cm id stainless steel columns operating in the gel permeation principle. This unit was
used for dextran fractionation, and it succeeded in separating efficiently both the high
and low molecular weight dextran fractions, meeting the industrial specifications (206,
212). In the second case the emphasis has been on the use of the -SCCR systems for the
separation of carbohydrate mixtures containing in particular glucose and fructose. These

separations were obtained using the appropriate ion exchange media.
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Chuah (213), because of the pressure limitations of the glass columns and in
order to get extra effective length, replaced the glass columns of the SCCR4 unit by
twelve 2.54cm id and 65cm long stainless steel columns, also packed with Zerolit 225
SRC14 calcium charged resin, (SCCR4 Mk II). The next scaling-up step was the
construction of the ten column SCCR6 unit having 75cm long columns of 10.8cm id
(214, 215), packed with Zerolit SRC14 calcium charged resin. The glucose-fructose
separation at production scale throughputs was investigated, and the system was
operated in both batch and continuous modes to enable a comparison and a theoretical
relationship to be determined between the two modes of operation (216).

Abusabah (217) investigated the separation of inverted sucrose feedstocks on
the SCCR4 Mk I unit' and then replaced the 2.54cm id columns with 5.4cm id stainless
steel columns, and incorporated a safety shut-off device for continuous unattended
operation (SCCR7). The columns were packed with Duolite A113 anion-exchange
resin, and the production of High Fructose Syrups from glucose-fructose mixtures (218)
was studied. These SCCR7 columns were repacked with calcium charged KORELA
VO7C resin and used in th%s research work. The equipment was modified as described
in Chapter 5 in order to minimise the dead volume, improve reliability and enable better

operating flexibility with respect to better product quality and concentration.

7.4.2 velopment of ratine P
7.4.2.1 General

Deeble (77, 234) in his gas chromatography work investigated the effect of
changing the operating conditions, such as feed and carrier flow rates, within the
theoretical limitations as defined by equation 5.9. In his work he identified factors that

restricted the separating potential, ie.



- the effect of solute concentration on the distribution coefficients;

- the variation of solute migration velocity due to variations of solute
concentration, temperature and pressure gradients;

- system characteristics, namely: semi-continuous operation mode, and limited

length of the separation section.

and he incorporated them into equation 5.9.

The same conclusions were shared by other workers (22, 211, 203) and the

basic design equation 5.9 was modified as follows:

Le Le+Lf
(Kgg + 61+ 03g) < < <®gr-816-6p 00 . 7.1
P
or
Lm
(Kgg +81g + O3g) < —— < (Kgf - 817~ &5p) ermseon T2
P
where:
Le Le+Lf
+
Lm P P
P 2
where:
5, g and 6,¢ = fractional changes due to the effect of concentration on the distribution

coefficient Kdg and K 3 respectively. i

ng and 6,¢ = fractional changes due to the effect of system characteristics on the
distribution coefficient Kqg and K 4¢ respectively.

Additional terms could be inserted in the above equations to account for the

effects of temperature changes, feed and eluent flow rate increases, feed variations, ie.
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changes in glucose to fructose ratio, and presence of impurities, on the distribution
coefficients and thus on the separation performance. Although this would provide an
illustrative indication of the narrowing in the operating limits, Lm/P ratios, its practical
usefulness would be limited since the physical values and the variations of each of these
terms are not known. In the following part of this work the individual effect of the
above mentioned factors has been investigated to establish its significance and hence

assist in selecting the proper operating conditions.

7.4.2.2  Operating Temperature

It has been shown conclusively (22, 203, 213) that by increasing the
operating temperature from ambient to 60°C the on-column concentration profiles are
altered, the "cross over" point moves progressively towards the glucose rich product
resulting in reduced GRP purities. An investigation of the individual concentration
profiles (202) reveals that the glucose profile remains unaffected while the fructose
profile shifts towards the GRP This can be explained by the fact that the retention
volume is generally reduced with an increase in temperature and therefore the solute

bands are brought nearer to each other resulting in a greater overlap. In addition,

B-D-fructopyranose is the sweeter fructose tautomer and is the only known form of
fructose that forms a complex with the Caz“‘ ions (Chapter 3). The proportion of this
form at equilibrium to the other form is a function of temperature (91) and it decreases
with increasing temperature (Table 7.3) thus reducing the fraction of fructose available
for complexing and increasing the amount of fructose moving with the mobile phase.
The concentration has been found not to affect the rclativc amounts of the fructose
tautomers. To establish a relationship between temperature and distribution coefficients

Chuah's (204) results were used (Table 7.4) and it was assumed that any

chromatographic system would show analogous Kj changes. As expected, the
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glucose distribution coefficient was not affected significantly and although its values
were fluctuating they showed no clear pattern. The experiments were carried out in a
1.14cm id and 65.5cm long column packed with Zerolit 225 SRC14 resin in the calcium
form, and operating at infinite dilution conditions. Because the actual distribution
coefficient values change from system to system, due to different column dimensions

and packing characteristics of the particular chromatographic system, it was decided to

express the changes in the K45 values as a percentage, where the 25de value at 25°C

was taken as 100%. By assuming a linear change in K 3¢ a regression line through the

five points provides the general equation:
K 4 = (114.55 - 0.563 x TEMP) x 25K 4¢/100 R— 7.3

Therefore, for each system its own fructose distribution coefficient value, derived at

259C and at infinite dilution can be modified using equation 7.3 to give a better estimate

of the actual K ¢ for the particular operating temperature. In this experimental work the

operating temperature was kept at 60°C, with the exception of the commissioning runs,

to prevent any microbial growth and to minimise the pressure drop along the system.

7.4.2.3 Operating Switch Time and Flow Rates

The selection of both the switch time and flow rates is discussed together
because they are directly related (equation 5.9), ie. for constant Lm/P ratios, as the
switch time increases the operating flow rates must decrease. Throughout the
development of the SCCR systems the eluent, feed and purge flow rates were selected
for an arbitrary chosen switch time, by using the constrains imposed by equations 5.9
and 5.10. Ching (203) initially used a 45 minute switch time but the long process times

(about 9 working days per run), resulted in reducing the switch time to 30 minutes. This
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Table 7.3: Equilibrnum Concentrations of 20% Fructose at Different

T ratures (91), (the am f ct nd o-D- S
I Were v w
Temperature o-D-Fructo- R-D-Fructo-  p-D-Fructo-
e Furanose Furanose .Pyranose
% % %
0 4 18 78
22 6 21 73
67 8 28 64
77 12 31 57
le 7.4; Eff th t istribution coefficient (204
Temperature Fructose distribution coefficient % variation
oc Kar m¥yf
Ambient (~ 25) 0.875 100.0
33 0.827 94.5
40 0.825 943
50 0.762 87.1

65 0.674 77.0

Linear Glucose % variation Fructose % variation
Velocity Distribution in Kdg distribution in Kgr
cm/min coefficient coefficient
Kdg . Kaf

0.098 0.290 115.5 0.808 116.3
0.412 0.231% - 0.735 105.8
0.588 0.247 98.4 0.722 103.9
0.813 0.252 100.4 0.712 102.5
1.092 0.251 100.0 - 0.695 100.0
1372° 0.303* - 0.657 94.5
1.568 0.262 104.4 0.648 93.2
1.999 0.216 86.1 0.648 93.2

* data omitted during the calculations.
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switch time was adopted by other workers. However, by operating at 30 minutes the
production throughput is low and the fructose on-column profiles are found to be
broader (202). In order to increase the throughput Gould (214) and others (22, 202)
decreased the switch time to 15 minutes and doubled the feed and eluent flow rates so
that the Lm/P ratio would be kept constant. This decrease in switch time, although
increasing the throughputs, resulted in lower fructose rich product (FRP) purities and in
a substantial shift of the cross-over point towards the FRP section. In this work it was
decided as a compromise to operate at a switch time and flow rates in between the above
mentioned values. It has been found that by increasing the eluent flow rate the
separation potential is reduced mainly due to the decrease of the distribution coettictents.
Chuah (204) carried out a series of experiments to evaluate this effect. A 1.14cm id
65.5cm long column packed with Zerolit 225 SRC14 was used and the results are
shown on Table 7.5.

To generalise the application of these results, for any chromatographic system

having different dimensions and characteristics, the Ky variations were expressed in

percentage terms, the eluent flow rate was expressed as a linear velocity (flow rate over

column cross-sectional area), and it was assumed that any system would exhibit
analogous K 4 changes at similar eluent flow rate variations. The fructose distribution
coefficient decreased with increasing linear velocities (Table 7.5). 'Ihelbehaviour of the
glucose distribution coefficient was less ¢lear, and it was decided to omit the Kdg values
at 0.412 and 1.372 cm/min linear velocities from the calculations due to their wide

fluctuations from the general pattern. The K4 values in Table 7.5 were calculated at
infinite dilution, therefore the derived equations relate the K 4 variations to a reference

Kg4* value calculated for the particular chromatographic system at infinite dilution

conditions and at a predetermined linear velocity. A column characterisation is always
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carried out during the commissioning of all chromatographic systems, therefore those

reference K*d values are one of the first derived sets of experimental data and represent

o— . *
the system's characteristics and configuration. The same reference K~ 4 values are also

used in the equations that relate the effect of temperature, and as it will be shown later,
concentration. Therefore all these equations relate to the particular system they are used
for and require a minimum set of experimental data. To simplify and also standardize the
calculations a linear velocity of 1.09 cm/min was chosen, since it corresponded to the
operating flow-rate used in the evaluation of the infinite dilution distribution coefficients
during the column characterisation (25 cm3/min, Chapter 6), and also because it was

believed to be a moderate setting applicable to any chromatographic sytem. In Chuah’s
results there were no Kd values at 1.09 cm/min, and these values were calculated from

the regression lines fitted to his results. These values were used as the basis (100%)

during the rearrangement of the results as shown on Table 7.5. By assuming a linear
change in K4 and fitting regression lines to the experimental data, the following

equations were derived relating to the effect of flow rates (expressed as linear velocity)

on the distribution coefficients:

- for glucose:
. . *

Kdg = (111.71 - 10.631 x Linear Velocity) x K dg/IOO ,,,,,,,, 7.4

and for fructose:

Kg¢ = (112.68 - 11.593 x Linear Velocity) x K™ 3¢/100

Where:
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K* dj = distribution coefficient of comrcnent i calculated for the particular

chromatographic system, at infinite dilution, at 25°C and at 1.09cm min™!
linear velocity.

If the operating temperatures are different, the K*df value must be modified for the

particular temperature using equation 7.3 and then used in equation 7.5.

It has been found that the separating performance is also affected by changes
in the eluent to feed flow ratios. A decrease in this ratio from 6:1 to 2:1 resulted in
shifting the "cross-over" point towards the'GRP and in decreasing the glucose rich
product purities (203). _

The experimental results of previous workers indicate that a 3:1 eluent to feed
ratio is the most favourable, and this ratio was used in this work. The operating
conditions used as a basis of the experimental program were chosen, for comparison
purposes, to be analogous to the ones used in the SCCR6 unit (202, 214) bearing in

mind the restrictions of equation 5.9.
These conditions were:

For a 30 minute switch time - eluent flow rate: 30 cm>/min
- feed flow rate: 9 cm3/min
For a 15 minute switch time - eluent flow rate: 50 cm>/min
- féed flow rate: 18cm3/min
Because of the factors mentioned previously, most of the experiments were
carried out at intermediate operating conditions which were modified according to the

needs of the particlar experiment. The basis of these conditions was:
- eluent flow rate: 39 to 41 cm?/min

- feed flow rate: 13 to 14.6 cm3/min

- reference switch time: 20.8 to 18.5 min
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Time Total concentration
(min) (% wiv)

0-4 11.32

4-8 3.07

8-12 0.93

12-16 0.81

16-20 0.20
20-24.5 0.07
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The actual operating conditions were modified according to the requirements of the
particular experiment. During the early stages in the development of the SCCR systems
the purging flow rate was chosen to be 35 to 50 times the eluent (203). This however
was too excessive resulting in very dilute fructose rich products, and it was subsequently
reduced to 3 to 5 times the eluent rate (22, 202). This was believed to be still too high
and in this work it was reduced to about twice the eluent flow rate (80 cm3/min). A
subsequent analysis on the fructose rich product stream proved that it was sufficient
(Table 7.6 and Figure 7.14). These results were obtained by collecting the fructose rich

product at 4 min intervals during a switch, immediately after leaving the purging column.

7.4.2.4 Concentration Effects

From the early development work it became apparent that the separation
performance was affected by increases in concentration. Ellison (211) in his GPC work
cemonstrated that as the dextran background concentration in the eluent stream was
increased from 0% w/v to 15% w/v the elution profiles of the injected dextran samples
were becoming broader axld less sharp, and the corresponding distribution coefficients
were increased approximately from 0.36 to 0.71. The same effect was also apparent in
the results of other workers with ion-exchange resins. As the feed concentration was
increased the on-column concentrations also increased, the profiles became broader
(214), the "cross-over" point was moved towards the FRP and the product purities,
especially the GRP purity, were reduced.

This was a direct result of the effect of increased background concentration on
the distribution coefficients. Thawait (202, 219) quantified this Effect by carrying out a
set of experiments on a 0.5cm id and 50cm long column packed with Zerolit SRC14
calcium charged resin. An investigation of the experimental results (Tables 7.7 to 7.9)

revealed that;
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7: Effect of Glucose Backeround Concentration on Kd (202)
Distribution coefficients

Glucose _

concentration KGdg % increase KGdf % increase

gr/cm® in KGy, in KCys

0.0 0.120 100 0.380 100

0.1 0.196 163 0.400 105

0.2 0.300 250 0.510 134

0.3 0.330 275 0.560 147

0.4 0.450 375 0.630 166

0.5 0.500 417 0.690 182

able 7.8: ect of Fructose Backeround Concentrati n K 1 (202)

Fructose background Distribution coefficients

concentration

gr/cm? KF g % increase KE 3¢ % increase
: - wF
in Kng in K df

0.0 0.120 100 0.380 100

0.1 0.160 133 0.40 105

0.2 0.180 150 0.42 111

0.3 0.200 167 0.45 118

0.4 0.230 192 0.43 113

0.5 0.240 200 0.46

121

Dextran background Distribution coefficients

concentration

gr/cm’ KDdg % increase KDdf % increase
in KDy, in KD 4

0.00 0.120 - 100 0.380 100

0.05 0.190 158 0.520 137

0.10 0.210 175 0.570 150

0.20 0.280 233 0.620 163
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- the distribution coefficients of glucose and fructose increase more rapidly in
glucose background concentration than in fructose;

- all distribution coefficients increase most rapidly in dextran background
concentration;

and the following conclusions were drawn:

mical c ec

The chances of the B-D-Fructo-pyranose fraction of the fructose present been
chemisorbed by the calcium ions are reduced at increased background concentrations.

This causes a decrease in the fructose distribution coefficient.

Concentration Gradient Effect

A concentration gradient is created between the stationary and mobile phases,
forcing the glucose to stay with the stationary phase either by diffusion or by osmosis.
This effect is less prominent with fructose since it is already chemisorbed by the resin's

calcium ions.

The viscosity of the solution is increased with increased sugar background

concentration, resulting in larger elution volumes. This causes all distribution
coefficients to increase and also explains the rapid increase of Kj's in dextran

background concentration increasing due to the comparably larger dextran viscosities.
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Thawait (202, 219) used the experimental data and expressed these changes

by a series of linear regression lines as follows:

Glucose Background Concentration:

o N R — 7.6

KO4r=065xcg+03648 L 7.7
Fructose Background Concentration:

KFgo=024xce+0129 7.8

KFge=0.15xc+0386 . 7.9
Dextran Background Concentration:

KDy =0.7x cq +0.143. sucssenn 0

KDge=1.1xcq +0.426 oo

The general relationship between retention volumes and sugar concentrations in the

stationary and mobile phases was derived in Chapter 2 and is of the form:

dp; V;- Vo

S = m————— e 7.12
d’ci Vs

Where

p; = concentration of component i in the stationary phase

¢; = concentration of component i in the mobile phase
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V; = elution volume of component i
Vg = V-V,

VT = total column volume

Vo = column void volume = dextran elution volume

To relate directly the effect of background concentration c; equation 7.12 is

approximated to:

dp; Vi-Vo
= « Ac+B 0 e 713
dey Vs
dpj Pj
For a linear system, —— = Kg; = —, equation 7.13 becomes:
de; ci .
b
Kgi= Agg+#B . 7.14

This is valid for very low concentrations of component i irrespective of the
concentrations of the other components present. In a non-linear system where the K 5; is

dependent on concentration, equation 7.14 does not apply and the general equation 7.13
should be used instead (220). Equations 7.7, 7.8, 7.10 and 7.11 are still valid because a
small amount of component i was injected in a solution of the other component j and
hence it was effectively at infiﬁitc dilution. When, however, a sample of component i
was injected in a solution containing the same component then equation 7.13 applies

instead. This means that equations 7.6 and 7.9 must be re-interpreted as the derivatives,

ie:
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- equation 7.6 becomes

. dpg

= 0.77x Cg +0.1237 e 115

deg

- and equation 7.8

dps

= 0.15 xce+ 0.386 L v 7.16
dCf

The glucose distribution coefficient in a glucose background concentration is derived
after integrating and rearranging equation 7.15:
Pg
— = 0.385x Cg + 031237 0 s 7.17
‘s
Similarly for the fructose distribution coefficient with a fructose background:

Pf
KFge= —— = 0.075 x cp+0.386 R A T:

o

These modifications indicate that the distribution coefficient of component i is
still increasing in increasing background concentrations of the same component but only
half as fast. The results of equations 7.7, 7.8, 7.10. 7.11, 7.17 and 7.18, although they
represent the variation of the distribution coefficients with concentration, are only
applicable to the system they were obtained from. To generalise their application to any

chromatographic system the following steps were followed:

- all K4 values were expressed as a percentage of the corrc'spondin g distribution

coefficient, calculated at infinite dilution conditions, ie. aqueous mobile phase;
- a new set of linear regression lines was developed using the respective data

from Tables 7.5 to 7.7.
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The advantage of this development is that the K4 variations relate to the

reference infinite dilution coefficients which have been calculated during the column

characterisation of the particular system of interest.

This clearly increases their

application and also keeps the required experimental data to a minimum, since the same

reference infinite dilution coefficient is also used in the K4 vs temperature, equation

7.3, and K4 vs flow rate, equations 7.4, and 7.5 relationships. The new general K3 vs

concentration relationships were:

- For glucose background concentration:

dpg

— = (492.5x Cg + 164.83) x K”dgf’lOO
cicg

integrating

KG g = (246.25 X cg + 164.83) x K44/100

also
KG ¢ = (173.1 x cg + 95.71) x K™44/100

- For fructose background concentration:

Kng = (198.3 x cf + 107.43) x K> 4¢/100

dps

— = (38.9 x cf + 101.62) x K=4¢/100
des

integrating

KF 3¢ = (19.45 x cf + 101.62) x K>34/100

- For dextran background concentration:

KDdg = (627.4 x cg + 111.6) x K™ g5/100

KD 4= (289.1 x cg + 112.2) x K3£/100
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Equations 7.19 to 7.24 were used in this research work.

Maltose and the other oligosaccharides, present in the industrial syrup used in
this experimental work, are retained to a lesser extent than the glucose and fructose
because they do not form any complex with the calcium ions and due to their larger
molecular size, and they are effectively travelling with the mobile phase. It was therefore
assumed that they exhibited the same behaviour with the totally excluded dextran
molecules, also their very low concentrations minimise any inaccuracies caused by this
assumption. For the above reasons and due to the lack of experimental data equations

7.22 and 7.23 were used to represent the effect of increasing maltose and

oligosaccharide background concentration on the K4¢ and Kdg values.

74.2.5 ncentration Improvement Technigu

Because of the nature of the chromatographic operating principle reduced
product concentrations are obtained. To improve these concentrations two techniques

have been examined, namely: product splitting and recycling of dilute product fractions.

It has been found that most of .thc retained fructose is removed during the
early part of the purging period. The GRP exit column in the previous switch was the
FRP column and since it was purged it contains water only. When it becomes therefore
the GRP exit column the water is eluted at the beginning of £11c switch and the incoming
glucose is eluted towards the end. This was confirmed by the results of an analysis of
the FRP and GRP product streams. Each sample was collected directly at the outlet port

of the respective column over a 4 minute interval. The results are shown in Tables 7.6
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and 7.10 and are plotted on Figures 7.14 and 7.15. Therefore, by dividing the GRP and
FRP product collection periods into two fractions and collecting each fraction separately,
the concentrations of the desired products can almost be doubled without any significant
decrease in purity. This was confirmed in Thawait's results (221) where by employing
this technique to the FRP the concentration increased from 1.74% w/v to 3.4% wi/v.
The product splitting technique was applied to both FRP and GRP streams in this work
and the SCCR7 equipment was modified in order to automate this process (Chapter 5).

Recyclin Dilute Product Fraction

In the operation of the SCCR system the eluent entry column during a switch
n becomes the purging FRP column at the next switch n+1 (Figure 5.4). By using
de-ionized water as eluent the sugar concentration in the eluent entry column is reduced,
therefore resulting in a reduced fructose product concentration. By recycling the
concentrated fructose rich product which was collected in the first half of the switch, the
concentration in the eluent entry column was kept high. When this technique was
employed on the SCCR6 E221) the FRP éonccntration increased from 1.74% wlv to
9.4% w/v, but the purity was reduced from 82% to 72%. Because of the lower purities
and the reduced throughputs per cycle this technique was not pursued further. The
recycling however of the dilute FRP and GRP fractions was considered instead.

Two other techniques, the use of two adjacent purging columns (204) and the

use of a sidestream (221) have been suggested, but have been proved unsuccessful.

7.4.2.6 Effect of Other Parameters

It has been found (217) that when an inverted sucrose feedstock was used and
the operating conditions were kept the same, the cross-over point shifted towards the

FRP and the fructose rich purity was reduced. A close investigation of the synthetic and
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Table 7.10: Results of the GRP Analvsis over a Switch - Run: 55-13-39-24.5-60

Time Total concentration
(min) % wiv

0-4 0.21

4-8 0.42

8-12 1.84

12-16 4.93

16-20 12.71
20-24.5 18.39
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inverted sucrose concentration profiles indicated that the glucose profile is broader and
sharper for the inverted sucrose feedstock. This means the glucose from the inverted
syrup is retained more than the glucose from the synthetic feedstock. No explanation
can be given for this behaviour.

During the separation of industrial syrups, such as the barley syrup used in
this work, the reduced fructose content in the feed (ie. glucose/fructose ~ 52%/42%),
results in reduced fructose rich product purities, and in shifting the "cross-over" point
towards the FRP. This is because by increasing the glucose to fructose ratio in the feed
the overlapping of the peaks increases due to the gteate.r glucase present bencee the
"over-shadowing" effect. Gould (214) using the results from his simulated work
proposed that this effect can be counteracted by moving the feed inlet location towards
the GRP thus allowing extra length in the pre-feed section for the separation. The
simulated results showed the glucose profile increasing sharply from one or two
columns before the feed column, and the fructose profile decreasing sharply immediately

after the feed column. This however does not apply for the real situation because of the
effects of temperature, flow rates and concentration on the K4 values. Although the

initial simulated results were encouraging, they become less promising when the above
factors are incorporated in the simulation program, and has also been confirmed
experimentally (202).

Because of the limited length of the existing SCCR systems it is therefore
believed that this technique can only be applied effectively with low (< 25% w/v) feed
concentrations. An alternative technique is developed in_this work which overcomes

efficiently the above limitations and it is explained in Chapter 8.

169



7.4.2.7 The Selection of the Best Operating Conditions (Summary)

An alternative and more general way of arriving at equation 7.2 has been
developed relating the effect of the principle operating parameters on the K 4 values and

thus on the SCCR system's performance.

The selection of the best operating parameters that represent the actual

conditions can be carried out as follows:

. the glucose and fructose distribution coefficients K*dg= K*df for the

chromatographic system in question are evaluated as shown in Chapter 6 by
operating at infinite dilution, ambient temperature (20-25°C) and at a linear
velocity of 1.09 cm/min;

- the fructose distribution coefficient K*df is modified using equation 7.3 in

order to account for the effect of temperature;
- equations 7.4 and 7.5 are used to modify these glucose and fructose

distribution coefficients further accounting for the effects of flow rates;

- these new K*dg and K*df values are used in the set of equations 7.19 to 7.24
to get a set of new Ky values that account for the effects of background
concentrations. Then the weighted average Kdg and K j¢ values obtained by

taking into account the above Kj values and the concentrations of the

individual components can be used in the basic relationship 5.9 to derive the
appropriate operating conditions. The advantage of this new approach is its

general application, since all relationships are expressed in terms of the
reference distribution cocfficientS'K*di which are properties of the particular

chromatographic system under investigation.
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7.5 mmissioni f th R

7.5.1 issioning Run 56-10-30-30-

The aim of this experiment was to provide a pressure testing Qf the newly
packed and assembled SCCR7 system and also get an early evaluation of its performance
with the industrial feedstock. Therefore, a high feed concentration (56% w/v) was used
and the operating temperature was 20°C resulting in increased viscosities and
h ncepressure drops. The system performed satisfactorily at these adverse conditions
and no leakage was detected. The operating conditions were chosen to correspond to the
ones used in the operation of the ten 10.8cm id column SCCR6 system (202, 214) and
the results are shown in Tables 7.11 and 7.12. All the maltose and oligosaccharides
were eluted in the glucose rich product (GRP) which was fructose free. The fructose
rich product (FRP) however contained over 30% glucose, and the cross-over point had
moved to the eluent entry column next to the FRP column. When the results were
compared to the ones obtained on the ten column SCCR6 system at similar conditions
but using a 50:50 synthetic glucose-fructose feed (run 60-35-105-30-20, (202)), it was
found that the fructose rich product purity was even lower and the relative shift of the
cross-over point towards the FRP was greater. This confirmed the increased difficulty
in separating efficiently the industrial feedstock because of its reduced fructose content.
An examination of the concentration profile, Figure 7.16 indicates that the
multi-component nature of the feed did not affect the separation directly since the maltose
and oligosaccharides were retarded less and were carried through in the glucose rich
product. The small presence of these impurities however is thought to have an indirect
effect since their background concentration would affect the values of the distribution

coefficients. This effect has been evaluated in Section 7.4.2.4, but its actual contribution

on the K4 values is small due to the very low concentrations involved.
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T2 Reference Run: 18.6-9-30-30-20

This experiment was carried out to provide a basis for comparison. A
synthetic feed containing glucose and fructose at similar ratios to the industrial feed was
used, and the operating temperature was 20°C. Both products were 99.9% pure
because of the very low feed concentration (18.6% w/v total sugar solids). The results
were similar in terms of purity to the ones obtained by Gould (214) on the ten column
SCCR6 system using a 50:50 synthetic feed, but the cross-over point was shifted
towards the FRP as a direct result of the reduced fructose content (Figure 7.17). The
results of these commissioning runs (run 56-10-30-30-20 and 18.6-9-30-30-20)
indicated that alternative operating techniques must be employed in order to achieve the

desirable objectives and these techniques are discussed in the following chapter.

172



- 10 £60 ¥'86 666 £ I'o e I'L6 6'66 0010 0Z-0£-0€-6-981
- £0E LO'S 901 L'69 4 - 86t VL9 'Le 9€L0 02-0£-0£-01-9¢
SOtW O N % SOt 4 A/M%b  passAcou % Y3y
U00 pagj ul 2U00 pRJ ur ' Amu:cm
9% pnpoxd  asmOnIy Kund % npoxd ENGITES fund 1e3ns)
sanundwy €10} J09%  9s010nI] sanundug oL, J0% asoongy  Indy3nong um
1211a0yd HOI 4S0.10NYd JLONAO¥d HOMN ASODNTO p3ag reuawuadxy
SapLIBYOOBSO3I]0 + 3S0jRW SO+ Z fasojony ;. fesoon|3 :n
L 1820 b0 0t 8S-Ty 981 - T8L  8Lor SL 0t 6 0T-0£-0£-6-9'81
8 1680 8250 0¢ (4344 9% §T SV 62 SL 0¢ or  0Z0t-0e019S
uonenuouQd TVIOL SOt d D adig Juanjg paag
sajes moyj ‘dway ji==)|
0 S123yJ2 ay) U u
onel unesodiooul awn  onel AlM 9% [ ew un
9Pl gaug Py aSeiay  youmg O UOREAUIDUOD PR o)l mO)j adeiaay fusuruadxy

173



Z WY

CONCENTRATION

CONCENTRATION % W/V

F16:7.16 PURGING CONCENTRATION PROFILE FOR RUN S6.2-10.9-38.8-38.8-20
45 | o FRUCTOSE o GLUCOSE , HAL:’OSE+OS| |
40 FRP | |FEED | | GRP
| I | |
35.] I | | |
I i | I
30 | | | |
| I [
25 |
|
20 I
o |
iB_ I I
| I
% I I |
i IR it S ‘r""""lrﬁ_’."ﬁ\IT_ ! b.\m
.08 .66 1.3t 1.97 2.62 3.28 3.94 4.5 5.25 5.9 6.56 7.222 7.87
BED LENGTH CM X1@
F1G:7.17 PURGING CONCENTRATION PROFILE FOR RUN 18.6 -S.8-30.0-30.0-20
5| i g FRUCTOSE o GLUCOSE , n;\LITasaosl I
40, FRP | |FEED | | GRP
| _ | | I
35 | | | I
| | | |
38 | I | I
| I | I
25. | [ I |
l I l |
20. | | | |
I I | - I
in | I B,
1 | | o,
5. I | 1 |
I I | I
01 —p—] S S SO, L ———— 85—
.60 .66 1.31 1.97 2.62 3.28 3.94 4.5 5.25 5.99 6.56 7.25. 7.87
BED LENGTH CHM X1@

174



CHAPTER 8
8.0 THE CONTINUQUS SEPARATION OF A BARLEY SYRUP USING
THE SCCR7 EQUIPMENT
8.1 Introduction

The majority of the experimental runs carried out by previous workers on

SCCR equipments were based on synthetic feed solutions having fructose to glucose
ratios of 50:50 or higher. In this experimental program the industrial FINN-SUGAR
isomerose syrup made from barley starch was used and the objective was to optimise
the SCCR7's separation performance and produce high fructose corn syrup (HFCS)

meeting the strictest industrial specifications. These specifications are:

- 90% fructose rich product;
- glucose rich product containing no more than 7% fructose;
- feed throughput of at least 30 Kg sugar solids/m3 resin/hour;

- products having total sugar solid concentrations of over 20% w/v.

The lower fructose content and the multicomponent nature of the feed
indicate a more difficul‘t separation, and the results of the commissioning runs
(56-10-30-30-20 and 18.6-9-30-30-20) highlighted the necessity of developing
alternative operating techniques, and obtaining experimental relationships relating the
effect of various operating parameters on the system's separating performance.

Over thirty successful experimental runs have been carried out, from which the
appropriate runs have been selected to support the particular ﬁnding's. By operating at
the intermediate feed and eluent flow rates of 13 and 39 cm>min-! respectively, the
experiment duration increased slightly, and the production throughput also increased
without causing substantial overloading (Section 7.4.2.3). Although higher flowrates
would have increased the throughput further and also reduced processing times, they

were not used because limitations in storage capacities of feed, eluent and purge tanks
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did not allow continuous overnight operation. All experiments were carried out at
60°C. The equipment was operating continuously and it was purged at the end of the
week. When two runs were carried out during a week without purging the system out
at the end of the first run, the cycle at which the experimental readings were taken in
the second run is indicated with a plus (+) sign. In order to compare the .system's

performance with the theoretical relationship 5.9, the pre-feed and post-feed effective
mobile flow rates and the K4 and Kdg values were calcﬁlatcd for every run. The

actual values of the distribution coefficients were used taking into account the effects
of temperature (equation 7.3), flow rates (equations 7.4 and 7.5) and concentration

using a weighted average of the results obtained from equations 7.19 to 7.24

according to the feed composition.

8.2 ff f ing witch Tim

8.2.1 Experimental Results and Discussion

An examination of the criterion for separation (relationship 5.9 and equation
5.7) reveals that the switch time is a critical operating parameter. By using high feed
concentrations and reduced feed fructose to glucose ratios, the on-column
concentrations increase, with the glucose concentration increasing relatively more, due
to the greater amounts of glucose present. Therefore the distribution coefficients and
thus the separation are directly affected. This is supported by the fact that the
distribution coefficients increase linearly with concentration, and also their rate of
change increases more with increasing glucose background concentration than
fructose, (Section 7.4.2.4).

The effect of switch time on the equipment's performance was studied by
using syrups containing 35 to 37% w/v total sugar solids, and the experimental
conditions and results are shown on Tables 8.1 and 8.2. The feed syrup used in the

first two runs (35-13-40-21-60 and 35-13-40-26-60) was drawn from the top of the
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forty gallon drum supplied by Finn-Sugar and had a fructose to glucose ratio of 48.9
to 50.6%. This was due to crystallisation of some of the glucose and oligosaccharides
at the bottom of the drum. For the subsequent experiments the syrup 1n the drum was
mixed thoroughly before use. A 21 minute switch time was used in run
35-13-40-21-60 because it corresponded to the switch times used by previous workers
(202, 214), and both product purities were expected, from previous experience with
equimolar feeds, to be in the high nineties. The experimental results however were
contradictory. A 98.2% pure glucose rich product was obtained containing no
fructose, while the fructose rich product purity was reduced to 88.8%. For a
successful separation, from relationship 5.9, the average Lm/P ratio must be very near

the average distribution coefficient ratio. This however was not so for this run, and
the pre-feed L/P ratio was well below the Kdg value (Table 8.3). Because of the low

switch time the stationary phase effective movement was too fast, causing some of the
glucose to be eluted in the fructose rich products. As a result, only 8 columns (Figure
8.1) were used effectively in the separation and the cross-over point was in the third
column. To overcome that, the switch time was increased to 26 minutes in run

35-13-40-26-60, resulting in a broader fructose profile and shifting the cross-over
point to column 5 (Figure 8.2). The post-feed L/P ratio was well above the K 3¢ value

causing fructose to travel with the mobile phase and contaminate the glucose rich
product. Pure fructose rich product (FRP) was obtained at the expense of the glucose
rich product (GRP) which contained 13.5% fructose. The results of these two runs
using equimolar feed, indicated the significance of the switch time, and three further
experiments were carried out to verify this. The well mixed barley syrup was used
and the operating switch times were 21, 23 and 25 minutes, while the remaining
operating conditions were kept the same, (Tables 8.1, 8.2, 8.3 and 8.4). A 21 minute
switch time (run 37-13-40-21-60) resulted in shifting the cross-over point to column

2, causing some of the glucose to be eluted with the FRP reducing its purity to 70.6%,
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(Figure 8.3). The simulated movement of the stationary phase was too fast (low

switch time) and from Table 8.4 it is clear that the criterion for separation was not met
since the pre-feed Le/P ratio was well below the actual Kdg value, (0.251 and 0.345

respectively). The glucose rich product was fructose free since there was no fructose
present beyond column 8. All fructose was removed in the FRP, although the %
recovery value of 115.4% shown in Table 8.2 is not correct due to dilution and

analytical and weighing experimental errors. A 25 minute switch time (run
| 37-13-40-25-60) shifted the cross-over point to column 11, and almost half of the
fructose was eluted with the GRP. As before the experimental results were also

supported by the theory, where, this time, the (Le + Lf)/P value of 0.547 was well
above the K 3¢ value of 0.404. The general pattern of the results obtained from runs

35-13-40-21-60, 35-13-40-26-60 and 37-13-40-21-60, 37-13-40-25-60, is similar,
while the concentration profile and FRP purity of run 37-13-40-21-60 are even worse
than the corresponding run 35-13-40-21-60 due to the reduced fructose content. A
comparison of the three c\:onccntration profiles (Figures 8.3, 8.4 and 8.5) shows that
as the switch time increases the glucose concentration profile is gradually shifted to the
right and the fructose profile becomes broader. This broadening in the fructose profile
is a direct result of the switch time changes. As the switch time increases, the
stationary phase effective flow rate, P, decreases resulting in increasing L/P ratios.

These L/P increases are too high, cspccié]ly for the post-feed L/P in comparison to the
actual K 3¢, thus causing greater amounts of fructose to move with the mobile phase
(Tables 8.3 and 8.4). A 23 minute switch time was found to be the right one (run
36-13-40-23-60), giving a 92.4% pure FRP and a G1-2P containing only 5.49%

fructose. .
The concentration profile (Figure 8.4) indicates that all the system's length

was used effectively for the separation and the cross-over point was situated in column
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5. Although the average K4 and Lm/P values were not identical they deviated by less

than 9%.

8.2.2 usion

The experimental results and a close investigation of the concentration
profiles (Figures 8.3, 8.4 and 8.5) verifies clearly the effect of switch time. This new
operating technique requires no location changes of the relative inlet feed or eluent
positions and no equipment modification, and also can be easily applied at any stage
during the operation to improve the systems performance according to the operator's
requirements. Its approximate value can be obtained from the criterion of separation
(relationship 5.9) using the actual distribution coefficients and the pre- and post-feed
effective mobile phase flow rates. An experimental relationship has been developed in
the following sections to predict the operating switch time for different feed

concentrations.

8.3 Equipment's Sensitivity to Small Changes in Switch Time

The significance of the switch time on the equipment's separating
performance was indicated in the previous section. The system's sensitivity and the
importance of choosing the exact switch time is shown here from a set of six
experimental runs with switch time changes as low as 10 seconds (Tables 8.5 and
8.6). The switch time was reduced from 24.5 to 23.5 and 23 minutes in the runs
35.2-13-39-24.5-60, 35.2-13-39-23.5-60 and 36-13-40-23-60. The magnitude of the
effect on the concentration profiles is shown in Figures 8.6, 8.7 and 8.4 where a 1
minute reduction in switch time shifted the cross-over point by 3 column, from column
9 to 6, and a further 0.5 minute reduction from column 6 to column 5. In terms of

product purities, the fructose content in the GRP was reduced from 17.88 to 11.5 and
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5.49%, and the FRP fructose purity was also reduced from 99 to 92.85 and 92.4%
respectively. The differerence in separating performance between runs
35.2-13-39-23.5-60 and 36-13-40-23-60 was not so great, due to the ’relatively low
feed concentrations. When the feed concentration is increased the limits in the
operating switch time are narrower and the exact value must be chosen. This is
illustrated well in the following three experiments, (runs 45.7-13-39-24-60,
45.77-13-39-24.33-60 and 46-13-39-24.17-60). A 20 seconds increase in switch
time, from 24 to 24.33 minutes, caused the cross-over point to move from the
beginning of column 4 to column 5 and the FRP purity to increase from 89.5 to
95.37% (Figures 8.8 and 8.9), and consequently resulted in increased fructose
contamination of the GRP, ie. from 2.4 to 11.76%. When an intermediate switch
time, of 24 minutes and 10 seconds, was used (run 46-13-39-24.17-60) both product
purities were within specification. It is interesting to note that a 10 second reduction or
increase in the switch time from it$ correct value of 24.17 minutes, reduced or
increased the FRP purity by almost the same amount (approximately 3%), and the
fructose content in the GRP showed similar decreases or increases. The
corresponding cross-over point locations were changed by less than a columns length
(Figures 8.8, 8.9 and 8.10).

This is also supported by the corresponding changes in the actual
distribution coefficients and L/P ratios as shown on Table 8.4. Any changes smaller

than 10 seconds in switch time were not possible due to the limitations of the timer

used.

8.4 ffe f Increasing F oncentration nPfduc Purities an

Concentration

8.4.1 Introduction

By increasing the feed concentration, the production throughput and hence

the equipment's utilization increases. This however has a detrimental effect on the
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separating efficiency since the sugar concentrations increase and eventually lead to
equipment overload. The drop in separating efficiency is a direct result of the
increasing background sugar concentrations on the distribution c'oefficicnts as
described in Section 7.4.2.4, namely the chemical structure, concentration gradient
and viscosity effects. The resulting effect on the glucose distribution coefficient is
relatively greater and is illustrated well in Figure 8.11. Figure 8.11 contains the
variation in the glucose concentration profiles with increasing concentration, and was
obtained by Thawait (202) using the SCCR6 and a 50:50% synthetic feedstock,
operating at 20°C and keeping the switch time constant at 30 minutes. In this work the
barley syrup was used and the switch time was altered accordingly to obtain products
within specification. The eluent to feed flow rate ratio was kept at approximately 3:1.
The results are shown in Tables 8.7 and 8.8, and the purge concentration profiles are
used since they offer a better representation of bulk composition for each column.
Because of the continuous operation there was no purge concentration profile available

for run 36-13-40-23-60 and the on-column profile (Figure 8.4) was used instead.
8.4.2 Its and Di ion

In run 18.6-9-30-30-20 a synthetic glucose-fructose mixture was used, and
the experiment was carried out at ambient temperature (Section 7.5.2). As this run was
to be used as a reference, a 30 minute switch time was chosen, similar to the ones used
by previous workers (202, 214) and 99.9% pure products were obtained. Although
this switch time, for the particular conditions, is believed to be slightly high the
separation was not affected due to the comparatively low feed concentration used. As
the feed concentration was increased (runs: 36-13-40-23-60, 46-13-39-24.17-60,
54-13-39-24.5-60 and 66-14.6-40-25-60) the product purities were kept within
specification by increasing appropriately the corresponding switch times. These

increases however resulted in increasing deterioration of the product purities, ie. as
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the concentration increased from 18.6 to 66% w/v the FRP fructose purity decreased
from 99.9 to 90.1% and the GRP fructose con-tcnt increased from O to 6.9%. These
switch time changes are ideally made gradually and relative to thc’ concentration
changes.

An investigation of the concentration profiles (Figures 7.17, 8.4, 8.12,
8.13 and 8.14) shows that the "cross-over" points were situated approximately 1 or 2
columns before the feed inlet column. Experience has shown that if the "cross-over"
point is situated approximately one column before the feed inlet column both product
purities would be within specification. The increases in the distribution coefficient
values with increasing feed concentration are shown in Tables 8.3, 8.4 and 8.9, and
the corresponding L/P ratios also increase due to the increasing operating switch times.
The decreasing separation performance is also supported by {he reducing separanon
factors.

In run 66-14.6-40-25-60 the feed flow rate was increased to 14.6cm3 min-!
in order to increase the production throughput nearer to the specified one, reducing the
eluent to feed flow rate ratio to 2.74:1.

In the development of the experimental switch time-feed concentration
relationships the results of runs 18.6-9-30-30-20, 36-13-40-23-60,
46-13-39-24.17-60 and 54-13-39-24.5-60 were used due to the similar eluent to feed
flow rate ratios (ie. 3:1). Because of the different flow rates used in run
18.6-9-30-20-20, the switch time was modified to correspond to a reference feed rate
of 13 cm3 min"! (Table 8.10), thus providing a better basis of comparison. The results
are plotted in Figure 8.15, whereby it can be seen t}uat at relatively low feed
concentrations, ie. less than 45% w/v, the switch time increases linearly with
concentration and then its rate of increase is reduced. Most of the experiments have

been carried out more than once thus eliminating the possibility of experimental error.
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As the on-column sugar concentrations increase due to increasing feed
concentrations, the concentration dependent distribution coefficients change
significantly thus requiring similar switch time increases to maintain the separation
efficiency. For feed concentrations over 45% w/v the system starts to become
overloaded and the rate of change in the concentration effect of the distribution
coefficient is reduced. It is therefore apparent that at approximately 45% w/v a
"critical" point is reached, after which the operation is carried out at overloaded
conditions. Successful separation can still be achieved but the selection of the right
switch time is critical. Because of these different rates of change, it was decided to
represent the switch time-feed concentration relationship with two regression lines.
Also to generalise their application the switch times have been reexpressed as

percentage change with respect to a reference switch time, (Table 8.10) therefore:

- for feed concentrations up to 45% w/v:

S = (0.542 x feed conc + 80.20) x STR/100 e 8.1

v and for feed concentrations over 45% w/v:

S'= (0.175 x feed conc + 97.05) x STR/100 oo 8.2

where:  S'= predicted switch time (min)
STR = reference switch time for the particular SCCR system operating at a
feed flow rate of 13cm?3 min"!, feed concentration 36% w/v, eluent to feed

rate ratio of 3:1 and a feed fructose content of 42%, (min).

The appropriate cxpérimcntal relationships can therefore be used to predict
the switch time for the particular feed concentration. The switch time corresponds to a
feed flow rate of 13cm3 min"! and an eluent to feed flow rate of 3:1. If a different feed

flow rate is chosen then the actual switch time can be obtained from:
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»
ST = (FFRRFFRN) xS .. 8.3

where: ST = actual switch time (min)

, ; .
S = switch time obtained from relationships 8.1 and 8.2 (min)
FFRR = reference feed flow rate (13 cm> min™!)

FFRN = actual operating feed flow rate (cm3 min’l)
8.5 1 n th 1 chiev

The effect of reducing the fructose content of the feed on the separation
performance has been mentioned earlier in sections 7.5.2 and 8.2. The difference
between the concentration profiles when using either synthetic or inverted feedstocks
of similar composition has also been discussed in Section 7.4 .2.6. The results of
three runs, carried out at 35 to 37.8 w/v feed concentrations and fructose contents
from 48.9 down to 36.8%, are shown in Table 8.11. Different switch times were
" used to counteract the increased separation difficulty associated with decreasing
fructose contents to obtain products within specification. As the fructose content was
decreased the on-column concentration profiles became broader (Figures 8.1, 8.4 and
8.16) due to the increasing switch times. The FRP purities in runs 35-13-40-21-60
and 37.8-13-40-24.5-60 were slightly outside specification because the chosen switch
times were somewhat smaller than the optimum ones, which from experience should
have been 21.17 and 24.67 minutes respectively. The experimental switch times have
been used to develop a relationship between switch time and feed fructose content.
This relationship has been used in conjunction with relationships 8.1 to 8.3 to modify
the predicted switch time according to the feed compositic:n. Since these relationships
(8.1 to 8.3) have been developed using feeds with approximately 42:52 fructose to
glucose ratios, the actual switch times are re-expressed as a percentage with respect to

the reference switch time corresponding to 42.2% fructose feed content,
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(Table 8.11). A linear relationship is assumed given by the regression line:
S = (152.89-1.25 xFFC)xST/100 e 8.4

where: S = switch time for actual feed composition (min)
FFC = fructose content in feed (%)

ST = actual switch time as obtained from relationships 8.1 to 8.3 (min)

The multicomponent nature of the feed did not have a direct effect on the separation
since the maltose and oligosaccharides were retarded less and were carried through in
the glucose rich product. The presence of these impurities however had an indirect
effect since their background concentrations affects the distribution coefficients, and
although its contribution is small due to the low concentrations involved, it is still
included in the evaluation of the actual distribution coefficients (Section 7.4.2.4).

It has therefore been demonstrated that the SCCR7 equipment can be used
effectively to separate more "difficult" feedstocks provided the right switch time has

been chosen.

8.6 Effect of Reducing Eluent and Purge Flow Rates on Product Purities and
Concentration

A reduction in the eluent ‘and purge flow rates increases product
concentrations but at the expense of the separation efficiency. This has been evaluated
by previous workers and they recommended a 3:1 eluent to feed flow rate ratio. This
ratio was kept in the majority of the experiments in this work. In run
66-14.6-40-25-60 the ratio was reduced to 2.74:1 (Tables 8.13 and 8.14) and the

product purities were still within specification. The bulk product concentrations were
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5.84 and 11.6% w/v for the FRP and GRP respectively, and the total length of the
equipment was utilized effectively as illustrated by Figure 8.17. If the same run had
been performed at a 3:1 eluent to feed ratio the switch time would have been 22.15
minutes (as predicted from relationships 8.2 and 8.3), instead of 25 minutes.
Therefore, a 9.5% decrease in the eluent to feed flow rates ratio required a 13%
increase in switch time.

In run 65.1-14.2-40.5-25-60 the purge flow rate was reduced further to
50cm> min!. From the concentration profile (Figure 8.18) it is apparent that the
pre-feed fructose concentrations are higher than the corresponding ones of the
previous run (Figure 8.17), indicating that the flow rate was not enough to purge the
columns completely and some of the fructose was left behind. This is also supported
by the increased fructose content and higher concentration of the GRP since the purge
column becomes the GRP exit column after the column switching. This partial
recycling of fructose alters the fructose-glucose background concentrations thus
reducing the adverse effect of the reduced fructose content of the feed. This and the
slightly higher eluent to feed ratio of 2.85:1 resulted in better FRP purities. The
difference in product composition between the two runs also show the equipment's
sensitivity to small changes in any one of the operating condition, and this should also
be taken into account during the selection of the switch time.

Two additional runs were carried out at a 50cm> min-! purge rate and an
eluent to feed ratio of 2.46:1, (runs 47.5-13-32-29-60 and 47.5-13-32-28.5-60). Run
46-13-39-24.17-60 is also included for ;eference. The reduced eluent and purge flow
rates increased the product concentrations substantially but at the expense of their
purities, (Table 8.14). A 30 seconds reduction in switch time, from 29 to 28.5
minutes, shifted the cross-over point by 3 columns (Fig[xres 8.19 and 8.20), reduced

the GRP fructose content from 16.7 to 9.4% and decreased radically the FRP purity
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from 96 to 76.62%. It is therefore concluded that a 2.75:1 eluent to feed ratio is the
minimum recommended one, and a purge flow rate of approxiraately 70cm3 min-!
should be sufficient, although an even lower purge rate could be used because of the

favourable results mentioned above.

8.7 ncreasi Pr ncentrati

8.7.1  Production Throughput

The results obtained by previous workers show that higher throughputs and
product concentrations can be achieved by increasing the feed flow rate and feed
concentration but all the expense of product purities as the direct result of the increased
on-column sugar concentrations. When an effluent of a Dextran plant (Fisons
Pharmaceuticals plc, Holmes Chapel, UK) containing over 68% fructose, was used
the maximum throughput achieved corresponded to 0.71 kg/hr sugar solids or 39.5 kg
solids/m? resin/hr, ie. a feed flow rate of 17cm3 min™! and 70% w/v feed concentration
(202). In an attempt to achieve the specified throughput of 30 kg sugar solids/m3
resin/hour, run 66-14.6-40-25-60 was carried out with the feed flow rate increased to
14.6 cm> min-! and the feed concentration to 66% w/v total sugar solids. The
remaining experimental conditions and the results are shown in Tables 8.13 and 8.14.
A throughput of 0.578 kg sugar solids per hour or 32.1 kg sugar solids/m3 resin/hour
was achieved, which was well above tht? specified one, and the product purities were
within specification (ie. 90.1% pure bulk FRP, and bulk GRP containing only 6.4%
fructose).

8.7.2 ns of increasin u ntration

To improve the commercial viability of the SCCR system it is essential to

improve the product concentrations, thus reducing the operating and capital costs of
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any additional processes (ie. evaporation and/or crystallization). Therefore, the
product splitting technique was employed and the corresponding product fractions
were collected separately. This was achieved by using a 3-way valve and a ﬁmcr in
each product line, (Chapter 5). To investigate the elution profiles each one of the
products was collected over 3 minutes as it was eluted at the end of the corresponding
product line and it was then analysed, (Tables 8.15 and 8.16). The individual elution
profiles were obtained by plotting the total sugar concentrations (Figures 8.21, 8.22).
Both profiles are "delayed" with respect to the "actual" ones (Figures 7.14 and 7.15),
which were obtained from the respective column exit ports. This was due to the
relatively long length of the system's product line network between the column exit
ports and actual product collection port. The GRP line network was filled with the
very concentrated fraction of the previous switch which was therefore eluted with the
product of the current switch, and similarly, the FRP network was filled with the
dilute fraction of the previous switch thus diluting the initial fraction of the current
switch. The exact "delayed" periods vary from system to system because of the
different lengths of the respective product networks; therefore the elution profiles of
the SCCR system in question must be obtained in order to select the exact splitting
intervals.

The product splitting technique was employed on the FRP in the early
commissioning run, 56-10-30-30-20, vgherc the concentrated fraction was collected
during the first 0" to 15 minutes collection intervals (Tables 8.17, 8.18 and 8.19).
This increased the product concentration from 5.07% w/v for the bulk product to
5.79% wi/v, but the increase was not substantial due to the relatively long switch time.
During the switch over, as the last column in the sepa.ratin;g section becomes the purge
column, there is a sudden drop in operating pressure (Table 8.29), this results in a
sudden emission of the FRP at the beginning of the switch. To account for that the
FRP collection started about 1 second before the sv\.zitch, and this is indicated on the

tables as 0",
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As it can be seen from Tables 8.15 and 8.16, approximately half of the
glucose in the FRP is eluted with the dilute FRP fraction (second half of the switch),
and a substantial amount of the fructose in the GRP is also present in the dilute portion
of the GRP (around the middle of the switch). Therefore, by employing the product.
splitting technique the purities of the concentrated fraction are also improved further.
This was verified in the following experiments. In run 55.1-13-39-24.5-60 the
fractional splitting of the FRP increased its purity to 98.87% and its concentration to
4.49% wiv. Most of the glucose present was removed in the dilute collection fraction,
which contained only 2% of the total fructose present in the feed (Tables 8.17, 8.18
and 8.20). The analysis of the bulk products (Table 8.18) and the concentration
profiles (Figures 8.13 and 8.23) of runs 54-13-39-24.5-60 and 55.1-13-39-24.5-60
should be similar. This however was not so and it is believed to be due to
malfunctioning of the feed pumphead in run 55.1-13-39-24.5-60. To increase the
throughput and product concentrations further, the feed concentration and flow rates
were increased to 66% w/v and 14.6 cm3 min-1, the eluent to feed ratio was reduced to
2.74:1, and the purging flow rate was also reduced to 70 cm3 min°!, Table 8.17. The
product splitting technique was employed to both products, (runs: 66-14.6-40-25-60*
and 66-14.6-40-25-60). For both runs the concentrated FRP was collected from 0™ to
12.5 minutes during each switch and the results obtained were almost identical (Tables
8.18, 8.21, 8.22, 8.23 and 8.24). Over 95% of the fructose in the feed was recovered
in the concentrated fraction, and its concentration increased from about 5.8% w/v
(bulk product) to 11.3% w/v. The fructose purity also increased from 90.1 to over
95%. The diluted FRP fraction contained only 2.8% of the fructose fed into the
system and also contained most of the glucose present m the FRP stream. In run
66-14.6-40-25-60* the GRP product split period was from 0 to 12.5 and 12.5 to 25
minutes during each switch. The concentration of the desired product (2nd collection
period) increased from 11.7% w/v of the bulk GRP product, to 16.21% w/v. Over

68% of the glucose in the feed was recovered during this period and the fructose
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content was reduced to 4.3%. Because of the "delayed" effect a substantial amount of
glucose was not recovered in the concentrated GRP fraction. In the following run
66-14.6-40-25-60, the GRP product split periods were altered to 4 to 16.5 min (dilute
fraction) and 16.5 to 4 minutes (concentrated fraction).

This increased the concentration of the desired product fraction (16.5 to 4
minutes) to 22.56% w/v, thus recovering over 94% of the glucose in the feed, and
maintaiing the fructose content below 4.5%.

A significant amount of the fructose and maltose-oligosaccharides was
removed in the dilute fraction which contained less than 2% of the glucose in the feed.
These results showed that the concentrations and purities of the desired FRP and GRP
products can be improved further by selecting carefully the timing of the product
splitting. The introduction of a more sophisticated timer, with multiple and unequal
time periods, would assist in a slightly larger increase of both product concentrations.

From the results of previous workers (202, 214), it is apparent that, when
the feed flow rate is increased to the equivalent ot 17.5 cm3 min™! and the switch time
is decreased to maintain similar L/P ratios, the fructose on column concentration
profile is narrowed while the glucose profile is shifted towards the FRP. Therefore by
increasing the feed flow rate to the above value and the feed concentration to 70% w/v,
the product concentrations and throughputs would be increased further. However, the
selection of switch time would be critical in order to maintain the product purities
within specification.

A further increase of product concentrations can be achieved by altering the
splitting periods to recover only the very concentrated fractions.. This would be at the
expense of the respective fructose and glucose recovery :;nd an economic evaluation

would determined the exact lengths of the splitting periods.
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8.8 Recycling of the Dilute Product Fractions

By using the dilute FRP and GRP fractions as eluent and purge water, the
eluent requirements would be minimised, all sugar solids would be recovered, and the
product concentrations would increase slightly. This technique was evaluated in run
66.3-14.6-40-26.5-60, where the dilute GRP and FRP fractions were recycled into the
eluent supply tank. The equipment was operating continuously and the results of cycle
19 are used (Tables 8.25, 8.26, 8.27). This prolonged operating period was used to
allow extra time for the system to reach "pseudo-equilibrium” because of the recycling.
The glucose present in the eluent and purge stream contaminated the FRP, and to
overcome that, the switch time was increased to 26.5 minutes. The collection periods
were from 18.25 to 5 minutes for the GRP and from 0~ to 13.25 minutes for the FRP.
This increased the product concentrations to 12.96 and 25.4% w/v for the FRP and
GRP respectively and the throughput to 0.581 kg/hour, ie. 32.3 kg sugar solids/m>
resin/hour. Over 84% of the glucose in feed was recovered during this collection
period and the GRP fructose content was 6.69%. The FRP fructose recovery was
87.8% and the product was 90.2% pure. The purging and eluent streams contained
some maltose and oligosaccharides coming from the recycled GRP stream, hence
some of these impurites were present in the FRP and also in all remaining columns. A
comparison of the purging profiles of runs 66-14.6-40-25-60 (Figure 8.14) and
66.3-14.6-40-26.5-60 (Figure 9.24) vcx_'ifics this, and also shows a one column shift
of the cross-over point towards the FRP (Figure 8.24). It is therefore recommended
that only the dilute FRP fraction is used for purging and the dilute GRP fraction can be
used to dilute the industrial feedstock to the required concentration levels.

All fructose concentration profiles indicate t};at the fructose in the eluent
entry column is diluted from the incoming eluent stream, thus the FRP product
concentration would be increased if the fructose concentration in the eluent entry
column is kept artificially high. It is therefore proposed that only the very

concentrated FRP fraction is retained, ie.
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from 0" to 8 minutes during each switch, and the remaining is recycled and used to
supplement the purge and eluent streams. This will reduce the fructose recovery per

pass but it should increase the product concentration to the specified levels and above.

8.9 ition mment: ipment orma

8.9.1 A 1 Distribution fficient e ion Fact

The extent of separation obtained by the SCCR systems is given by the

relationship 5.9. When the infinite dilution distribution coefficients are used (Kgqg =

0.125 and K 3¢ = 0.472), the operating limits determined from this relationship and the

separation factor of 2.2 indicate a relatively easy separation. This however does not
represent the actual operating conditions because the effects of temperature,
concentration and flow rates are not accounted for. In Tables 8.3, 8.4 and 8.9 the
actual distribution coefficients and separation factors have been obtained for the actual
operating conditions using the relationships 7.3, 7.4, 7.5 and 7.19 to 7.24. The
fructose infinite dilution distribution coefficient is modified using relationship 7.3 to
account for the different operating temperature. The new fructose coefficient and the
glucose infinite dilution coefficient are modified further to account for the operating

flow rates (feed plus eluent flow rate) using relationships 7.5 and 7.4 respectively.
The resulting K 3 values are then used m the corresponding relationships 7.19 to 7.24,

and the final distribution coefficients are the weighted average of the above according
to the feed content. For example, for a feedstock containing 42% fructose, 52%
glucose and 6% maltose and oligosaccharides, the weighted average distribution

coefficients are given by:

Kgg = 052KGg, + 042 KFgg + 006 KMy, ..

and
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Kgr = 052KO¢ + 042KFge + 006 kMg L 8.6

Although the actual K4 values change along the system, as the respective

concentrations vary from plate to plate, these weighted distribution coefficients can be
considered as the average ones since they represent the actual feed composition. The
accuracy in their values depends only on the accuracy of the experimental results and
the validity of the assumptions made during the development of the relationships 7.3,
7.4, 7.5 and 7.19 to 7.24.

Tables 8.3, 8.4 and 8.9 also include the operating L/P ratios, which varied

according to the chosen operating switch time. For complete separation (ie. 100%

pure FRP and fructose free GRP), the average Ky and Lm/P ratios should be identical

and the pre and post feed L/P ratios must be within the limits set by the Ko and K¢
values respectively. Identical sets of results cannot be expected because of the
possible inaccuracies in the evaluation of the K 3 values and since other factors, such

as the semicontinuous principle of operation experimental errors and product recycling
are not included. The results however show a similar variation with increasing feed

concentration and flow rates, and the extent of disagreement indicates the expected
degree of contamination. The K4 and L/P values can therefore be used as a guide for

the suitability of the chosen operating parameters. The actual operating parameters,
and in particular the switch time, must be chosen using the experimental relationships
8.1 to 8.4 and taking into account the effects of other parameters mentioned previously
in this chapter such as purge flow rate, eluent to feed flow rate ratios and product
recycling. The actual separation factors decreased fro;n 1.53 to 1.13 as the feed
concentration increased from 18.6 to 66.3% w/v, and these low values indicate the

increased separation difficulty due to the actual operating conditions that were used.
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8.9.2  System's Reproducibility

Table 8.28 contains the results of the analysis of the bulk products collected
over various cycles during an experimental run (66-14.6-40-25-60). During the initial
runs the purities are high and decrease gradually until they reach their final value after

approximately six cycles. In cycle 2 the on-column sugar concentrations are still low
and their effect on the K4 values is minimal, thus the high purities. In the following

cycles, as the sugar concentration increases the purities decrcase until the
"pseudo-equilibrium" state is reached (cycle 7), when they become reproducible. This
reproducibility is also verified from the results of runs 66-14.6-40-25-60* and
66-14.6-40-25-60 (Tables 8.7 and 8.8) which were taken five cycles apart (cycles 9
and 14), and their corresponding on-column concentration profiles (Figures 8.25 and

8.17) which were almost identical.

8.9.3  Calcium ion displacement

The fructose-glucose separation depends on the calcium charging of the
packing. Any sodium ions entering the system could change some of the resin into the
sodium form, especially at low pH, (less than 6). The presence of heavy or transition
metals or organic acids can result in partial "inversion" of the packing (223). The
above problems would affect the separation significantly and it would require the
regeneration of the packing. This calcium displacement has been found to be very
significant in the separation of molasses (225). Chuah (204) carried out an analysis of
the product streams over 100 cycles, using an atomic absorption spectrometer. The
FRP contained, in his experiments, 2 ppm of sodium and 10 ppm of calcium ions
which was reduced ;o 3 ppm after 12 cycles. In the GRP stream, there was a
continuous displacement of calcium ions of between 10 and 27 ppm, and 300 ppm of

sodium were also present.
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In this experimental program the SCCR7 has been operated for over 400
cycles, the eluent and purge water was deionised and filtered through a carbon filter.
So far there is no apparent loss in separation efficiency due to calcium ciisplacement.
This is verified by the results of runs 45.7-13-39-24-60, 45.7-13-39-24.33-60 and
46-13-39-24.17-60. The later was carried out almost seven months later with over
100 cycles in between, and the results were as expected for the intermediate switch

time of 24.17 minutes.
8.9.4 tin T

The pressure drop, AP, through a packed bed under laminar flow

conditions, and assuming no wall effects, is given by the Kozeny equation (207):

KS2(1-¢2 pnlu
AP e ——— " 8.7

g3

hed
Y

where: Kozeny's constant (~ 5)
Specific surface area of packing. If a spherical shape is assumed then
6/dp = 22222 m? m-3

Particle diameter (~ 270 pm)
Fluid viscosity

Bed length (=~ 65.5 cm)
Average fluid velocity, defined as 1 [ dv :l

& =T, 0nR

— | —

A L dt

V = Volume of fluid flowing in time t
A =Total cross-sectional area of bed

¢ = Column voidage (0.309)

For comparison purposes the pressure drop at 20°C and 56% w/v feed
concentration is calculated using the generating conditions of run 56-10-30-30-20.
Since the fluid velocities are different in the pre and post feed sections the column

pressure drop varies with position. A weighted average fluid viscosity is used as
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foliows:

Average fructose visocisty at 24% w/v (226) = 1.782 x 10-3 Ns m2

Average glucose visocisty at 28% w/v (226) = 2.176 x 10-3 Ns m"2

Average maltose viscosity at 2.5% w/v (226)

1.06 x 103 Ns m2

Therefore,

Weighted average viscosity at 20°C =

0.52x2.176 x 103+ 0.44 x 1.782 x 103 + 0.04 x 1.06 x 10-3 = 1.958 x 10"3 Ns m™2

Therefore, for a pre-feed column:
u=0.218 x 103 m.sec’! and AP = 11.17 kN m2
for a post-feed column:

u=0.291x 103 m.sec’! and AP = 14.95 kN m™

The total theoretical pressure drop over the eleven columns of the separation
section of the SCCR7 is 145.6 kN m'2. The actual pressure drops however are
substantially higher due fo the additional pressure drops over the valves, support
meshes, sudden enlargements and contractions over the fittings and frictional pressure
drops along the pipe network (133). The actual average pressure drops over the whole
feed concentration range are shown in Table 8.29. Throughout the experimental work

no pressure related problems were encountered.
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Table 8.10: Operating Switch Times at Increasing Feed Concentrations

Feed Feed flow Switch Switch time Switch time
Concentration rate time at a reference expressed as
(% wiv) (cm3 min'1) (min) feed flow rate a percentage
of 13 ¢cm3 min!
(min)
18.6 9 30 20.77 90.3
36 13 23 23 100.0
46 13 24.17 24.17 105.1
54 13 24.5 24.5 106.5
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Ta .15: GRP iti ver a Switch (Run 66-14.6-40-25-60)

Time period Composition % w/v
(min)

Glucose Fructose M+ OS Total
0-3 27.80 4.60 2.80 35.20
3-6 4.30 1.80 0.40 6.50
6-9 0.70 0.52 0.03 1.25
0-12 0.30 0.20 0.0 0.50
12-15 0.14 0.11 0.42 0.67
15-18 2.30 0.20 1.30 3.80
18-21 12.60 0.40 2.20 15.20
21-24 23.60 1.50 2.90 28.00
24-25 26.50 3.00 3.20 32.70

M + OS = Maltose and oligosaccharides

Table 8.16; FRP Composition over a Switch (Run 66-14.6-40-25-60)

Time period ) Composition % w/v
(min)

Glucose Fructose M + OS Total
0-3 0.42 11.47 - 11.90
3-6 0.08 17.61 - 17.70
6-9 0.00 9.84 - 0.84
9-12 0.00 2.90 - 2.90
12-15 0.01 0.99 - 1.00
15-18 0.08 0.52 - 0.60
18-21 0.09 0.33 - 0.42
21-24 0.16 0.21 - 0.37
24-25 0.22 0.11 - 0.33
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able 8.26: GRP Results after Recveline the Dilute Fracti
Run: 66.3-14.6-40-26.5-60

Collection period from 18.25 to 5 minutes

Glucose % of glucose Total product Impurities
purity in feed Conc (% wiv) %
% recovered F M +OS
86.22 84.1 254 6.69 7.19
le 8.27: Results after Recycling the Dilute Fracti

Run: 66.3-14.6-40-26.5-60

Collection period from 0™ to 13.25 minutes

Fructose % of fructose Total product Impurities
purity in feed Conc (% w/v) %

% recovered G - M+0S
90.2 87.8 12.96 8.87 093
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Table 8.28: Bulk Product Cn ition ov. N vel

66-14.6-40-25-6J)
Cycle Fructose Rich Product Glucose Rich Product
No
r G M+ 0OS F G M +0S
% % % % % %

2 98.2 1.8 - 3.15 86.2 10.65

4 93.6 6.4 - 54 85.31 9.29

5 91.8 8.2 - 6.19 83.8 10.01

6 90.28 9.72 - 6.27 83.5 10.23

7 90.09 9.91 - 6.61 83.0 10.39

9 90.1 9.9 - 6.9 83.1 10.0
14 90.07  9.93 - 6.4 82.9 10.7

Feed Feed Temp Average Pressure drop
Conc flow o kN m2
(% wiv) te
cmgamin‘1
Eluent Feed Purge

56 10 20 280 140 20

18.6 9 20 138 62 20

36 13 60 186 90 10

46 13 “ 60 200 103 10

54 13 60 227 110 10

66 14.6 60 250 120 10
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CONCENTRATION % w/v

CONCENTRATION 7 Wsv

FIG:8.1

ON-COLUMN CONCENTRATION PROFILE FOR
g FRUCTOSE o GLUCOSE , MALTOSE*+0S

RUN 25.0-13.0-40.0-21.8-6@
_CYCLE S

49

FRP

40.
39
30.

25

I
I
I
I
I
|
|
I
I
I
I
I
I
|
|

1 il I

)I

f

1,31 1.97 2.62 3.28 3.
BED LENGTH CM

9 4,

6.56

39 5.25 5.50

FIG:8.2 ON-COLUMN CONCENTRATION PROFILE FOR RUN 35.8-13.8-40.8-26.0-68

o FRUCTOSE o GLUCOSE , MALTOSE+0S

CYCLE 4

45

FRP

40.
35
30.
25
20
154

-
I
I
I
I
|
I
I
|
|
I
I
I
I
I
I

| I
\FEED |
| I
| |
I I
I I
I I
I I
| I

l I
I I
| I
| |
| |
| ]

== I

2
=]

2.62 3.28 3.94 4
BED LENGTH CM

1.97
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CONCENTRATION 7% WsV

CONCENTRATION % W/Y

FI1G: 8.3 ON-COLUMN CONCENTRATION PROFILE FOR RUN 37.0-13.8-48.08-21.8-60
45 | o FRUCTOSE o GLUCOSE , HAL;USE+O? CT;LE 7 i
40 FRP |FEED | | GRP
| | I I
35 I I I I
| I I I
30 | | | I
| I I |
234 | | | I
I I | I
15 i ' I |
8. | | |
I | I |
5] I i l
| I I I
Ot et e T
6@ .66 1.3] 1.97 2.62 3.28 3.94 4.59 5.25 5.98 6.56 7.23. 7.87
BED LENGTH CM Xie
FI1G:8.4 ON-COLUMN CONCENTRATION PROFILE FOR RUN 36.8-13.6-40.8-23.0-60
45 | g FRUCTOSE o GLUCOSE , HﬁLIOSE+Ui CYCLE 7 :
m FRP | |FEED [ [ GRP
I | I |
35.. I I I [
I I | I
30 | I I |
I I [ |
25 | | | |
I I I : |
204 | | | H.-. o . |
| — J:._,—e\e_\'\‘e
19 | | | I
| |
18
| I | |
5. I | | |
| |
a 77 T H—T 2 T 2 T & T ‘:'-—'—;-—_l:. i = T T i !
.00 .66 1,31 1.97 2.62 3.28 3.94 4.59 5.25 5.99 6.56 7.22 7.87

BED LENGTH CM X102
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CONCENTRATION % W-V

Z NN

CONCENTRATION

15

FIG: 8.5 ON-COLUMN CONCENTRATION PROFILE FOR RUN 37.8-)3.8-48.0-25.0-60
p FRUCTOSE o GLUCOSE , MALTOSE+0S CICLE-%

40
354
30,
254
20
134

—
FRP |FEED

|
I
|
|
I
I
I
I

i

e

00 .66 1.31 1.97 2.62 3.28 3.94 459 525 598 6.5 7.22 7.87

BED LENGTH CHM X102

45

FIG: 8.6 ON-COLUMN CONCENTRATION PROFILE FOR RUN 35.2-13.8-39.9-24.5-68
g FRUCTOSE o GLUCOSE , MALTOSE+0S CYCLE 7

40
g0

30.

.08 .6 1.31 1.97 2.62 3.28 3.94 4.59 5.25 5.90 6.5 7.2 7.87

FRP

GRP

I
I I
I l
I I
I I
I I
l I
I I

I

—_———— — e — e — e ]

|
I
I
|
I
I
|
I
I
I
I
I
|
I
I
|

A " A A
L= L= L L=

I
I
I
|
|
g g =
1

=

BED LENGTH CM X102
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CONCENTRATION 7% W2V

NV
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Figure 8.22: FRP elution profile over a switch-run+ 66-14.6-40-25-60
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9.0  THE SCALING UP OF THE SCCR CHROMATOGRAPHIC SYSTEMS

Existing theories and experimental results have been used in an attempt to
develop a theoretical link between batch and semi-continuous chromatographic systems.
The resulting data are compared and used to establish a method of calculating the
required length to obtain 99.9% pure products in a semi-continuous system from batch

data. A procedure for the selection of the correct operating conditions is also described.

9.1 v f i ween i- i iqui

A comparison of the results obtained by Thawait (202, 216) on the 10.8cm id
SCCR6 system, operating in both batch and continuous modes, indicated that at high
feed concentrations of binary mixtures the batch operaticn is slightly better in terms of
product quality. The semi-continuous operation however has the additional advantages
of being more flexible, requiring no recycling, allowing continuous unattended
operation, and maintaining constant product quality. These inherent advantages of the
semi-continuous operation favour its application in production scale plants, where
continuous separation of multicomponent mixtures is usually carried out, and maximum
throughputs with constant product quality are required. This highlights the need for a
method of predicting the size and performance of the semicontinuous system from batch
results. The evaluation of the system's length has been carried out in a way similar to
the sizing of other separation processes, ie. through t‘hc determination of the height
equivalent of a theoretical plate (HETP) and the number of theoretical plates (INTP)
analogy. In this work a binary glucose-fructose feedstock is assumed and the calculation
of both HETP and NTP values was based on the retarded component, fructose. The
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calculations are carried out for both the 5.4cm id twelve column SCCR7 and 10.8cm id
ten column SCCR6 equipments. The results of the later system (SCCR6) are shown in

square brackets unless it is stated otherwise.

9.1.2 (Calculation of HETPs

Ideally the HETP values can be predicted from the random walk model or the
non-equilibrium theory (26) modified to allow for column diameter and larger sample
sizes. Both theories, however, include a number of parameters with unknown or
imprecise values. Because of these limitations the HETP values were calculated from the
breakthrough curve using equation 6.6 for each column used in the batch mode and
operating at infinite dilution conditions. A detailed description of the experimental
procedure and the evaluation of the individual column parameters has been reported in
Section 6 and reference 215 (for the SCCR6 system). Applying equation 6.6 to each
one of the columns of both systems gave an average "apparent" number of theoretical
plates per column of 32 [25] hence a total of 384 [250] plates. This resulted in an

average fructose HETP ;alue of 2.09 [2.58] cm and average infinite dilution distribution
coefficients of K= 4¢ = 0.472 [0.417] and Kmdg = 0.215 [0.168], giving a separation

factor of 2.2 [2.48]. It will be recalled that the values above in turn refer to the 5.4cm
dia SCCR7 (no brackets), and the 10.8cm dia SCCR6 column (square brackets).

9.1.3 Calculation of NTPs

The theoretical determination of the NTPs rcqui}ed to increase the fructose rich
product (FRP) purity to 99.9% were carried out separately for the batch and
semi-continuous operation. Thus, the corresponding theoretical lengths were obtained

and compared.
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9.1.3.1 Batch Operation

Glueckauf in his "theoretical plate concept" (31) expressed his findings
graphically (Figure 9.1). Using this graph the NTP required for systems with a wide
range of separation factors can be predicted provided that the band spreading is not
dominated by lack of equilibrium between the sorbent and eluent phase. Aiso, although
anion exchange principle is applied for the separation, this is believed not to have any
significant effect since the column characterisation indicated that over 250 plates were
available (Chapter 6). The theoretical number of plates was found for each column

based on the infinite dilution conditions, ie. S5cm? injections of 10% w/v solutions.

Figure 9.1 was used and the NTP value was the one corresponding to o = 2.2 [2.48]
and xg = 0.001 (ie. 99.9% pure FRP) and assuming equimolar feed. This indicated that

approximately 48 [42] theoretical plates were required per column instead of the
"apparent” 32 [25]. Therefore in order to get 99.9% pure FRP without any recycle, 576
theoretical plates are needed for the SCCR7 and 420 for the SCCRS, instead of the 384
and 250 "apparent" plates respectively, found experimentally. This means a total

theoretical system length of 1204cm for the SCCR7 and 1084cm for the SCCRS.

9.1.3.2 Semi-continuous Operation

Sciance and Crosser used the "probabilistic model" (227) to develop a
continuous chromatographic model. The resulting equation accounts for feed location,
system'’s length, degree of separation and flow rates. The semi-continuous operation of
the SCCR units is an intermediate operation, but by assuming continuous operation and
designing for 99.9% pure FRP the following form of the model was used (227), since
- the FRP was the desired product.
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results from a 10 column 2.54cm id system (SCCR4). Run 02-2.4-6.1-30-29 from

term, and it was evaluated by using the

Ching's thesis (203) was used, since due to the low feed concentration (2.15% w/v) it

can be assumed that it approached "infinite dilution" conditions, hence the "infinite
dilution" distribution coefficient (K”dg) value could be used. The procedure followed
was the direct scaling up from the 2.54cm id to the 10.8cm id semi-continuous

chromatographic systems, and the calculations are shown in Appendix B. The Xg value

in equation 9.1 is the mass of glucose in FRP over the mass of glucose in feed. In the

actual calculations however the x, value used was approximated to (% glucose in

g
FRP/100). The accuracy of the mass balance was limited by the experimental errors

associated with the scale of operation (ie. in weighting and analysing the products).
Therefore the resulting inaccuracies of the above approximations were lower, and for
feedstocks containing less fructose than glucose it would give slightly longer lengths
than needed. It was found theoretically that a 1154cm long SCCR7 or a 1046cm long
SCCR6 system was needed to produce 99.9% pure products; ie. 552 or 405 theoretical
plates respectively. This theoretical length estimation of both semi-continuous systems
was carried out using operating parameters identical to the ones used in the experimental
runs 18.6-9-30-30-20 and 20-35-1b5—30—20 (202) for the SCCR7 and SCCR6
respectively. The experiments gave 99.9% pure products (Table 7.12 and Table 6 from
reference 216), and the experimental concentration profiles (Figure 7.17) indicated that
approximately nine columns were sufficient for coﬁtplete separation; that means
experimental lengths of 590cm for the SCCR7 and 585cm for the SCCR6 or 282 and
227 theoretical plates respectively. To account for this disagreement between the
theoretical and experimental lengths of the semi-continuous systems, an

Experimental-Theoretical-Correlation-Factor (ETCF) was introduced, where:
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- For the SCCR7 system:

Experimental length 590 e 9.2
ETCF = = = 0511 .
Theoretical length 1154
- and for the SCCR6 system:
585
ETCE = = 0559 e 9.3
1046

The above results indicate a similar experimental-theoretical relationship between the two
preparative SCCR systems of different size, accounting for the different resins used and
different feed composition. Therefore an average ETCF of 0.535 can be used for any
SCCR system, based on the "apparent number" of theroetical plates obtained from the
batch characterisation of the columns and at infinite dilution conditions. Although the
actual operating conditions were used in the length estimation of the continuous systems,

the effect of feed band width was assumed to be negligible.

9.1.4 Comparison between Batch and Continuous Systems at Infinite Dilution

Glueckauf demonstrated quantitatively the difference between continuous and
batch chromatographic columns (228). The number of theoretical plates needed in the
active part of a continuous system was given by:

6

Nt =
(x-1)

Where N is the number of theoretical plates needed to achieve a shift between the peaks

of two solutes equivalent to half the mean width of the peak (228). A shift which is

sufficient to get pure products at both ends. For batch colunns the number of theoretical

238



plates, N}, needed is given by:

2
Np = o 9.5
(- 1)
Therefore:
N; 6/(o-1)

= = 3 (0: = 1) -------- 9.6
Np  2/(x-1)?

Now, generalising this equation for the two modes of operation:

NTPq,
= A(ox-1) sissies; ol

NTPy,
Substituting the NTP values evaluated above and the corresponding separation factors,

, then:

*- For the SCCR?7 system:

$52
_—=x2- 9.8
576
Therefore n=0.799 9.9

- and, for the SCCR6 system:

405 -

— = r(248-1) 9.10
420

Therefore n=0.652 e 9.11
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Therefore, the average A value for carbohydrate systems was found to be 0.723. This is
four times smaller than the value in equation 9.6, which was derived for batch and
continuous circular gas chromatographic systems. This can also be attributed to the
validity of the infinite dilution assumption, and to the stepwise operation of the
semi-continuous system while the Sciance and Crosser model applies to "truly
continuous" sytems. It must also be noted that the accuracy in obtaining graphically the

number of theoretical plates for the batch system was low.

9.1.5 Discussion

In the length estimation of the batch systems the infinite dilution separation
factors, NTPs and HETP values were used. Since the column characterisation was
carried out at infinite dilution the effects of concentration, temperature and flow rates are
negligible and the "apparent” number of theoretical plates is accurate enough. The
semi-continuous lengths however were obtained for the actual experimental conditions,
and although the corresponding concentrations were low, they were higher than the
infinite dilution ones. Therefore, the validity of this infinite dilution assumption is

questionable, and its applicability is examined in the following section.

9.2 ne ulations at Actual Operatine Conditi

9.2.1 ner. nsi

The above calculations were repeated at the actual operating conditions. The
results of the continuous experimental runs 20-35-105-30 (SCCR6) and
18.6-9-30-30-20 (SCCRY7) were used. The actual results of the batch run carried out on
the SCCR6 at 20% w/v feed coﬁcentration were also used. Since the SCCR7 system

was not used in the batch mode it was assumed it would exhibit similar performance to
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Figure 9.1: Number of theoretical plates (NTP)
as a function of separation factor (o), and mass
fraction of component corrected according to the
feed composition (x4i), in product stream

(Ref (31) Fig 3)
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the SCCR6 system operating in the batch mode. This assumption is supported by the
similar separating performance of the two systems in the continuous mode and also by
the relative low feed concentrations. Therefore, it was assumed that the SCCR7 would
also produce 99.9% pure products operating in batch mode and using a 18.6% w/v feed
of similar composition to the one used in the continuous run. All experiments were
carried out at ambient temperature, and the results of the SCCR6 system are reported in
square brackets. To incorporate the effects of temperature, flow rates and concentration
the respective infinite dilution coefficients were modified as described in Chapter 7,
using equations 7.3, 7.4, 7.5 and 7.19 to 7.24. The resulting fructose and glucose
distribution coefficients were 0.54 [0.472] and 0.353 [0.267] respectively and the
separation factors 1.53 (SCCR7) and 1.77 (SCCR6).

9.2.2 Batch Systems

The graphical evzluation of the number of theoretical plates (Figure 9.1)
incorporates indirectly the effects of temperature, flow rates and concentration through
the modified scpa.ratior; factors, but it does not account for throughput and feed
bandwidth. The graphical reading represents the total theoretical plates required to
achieve a specified separation. In the previous section the number of theoretical plates
for each column was found graphically at infinite dilution conditions, giving a total of
250 (ten column/SCCR6) or 384 (twelve column SCCR?7), at the corresponding total
injection charges of 50cm> (SCCR6) and 60cm3 (SCCR7). This approach requires a
minimum amount of experimental data but is oversimplified, and corresponds to very
low concentrations and throughputs. For a more accurdte length estimation the actual
experimental results were used (Table 9.3) and the whole batch system was considered
as one long column. Therefore, from Figure 9.1, approximately 205 and 140 theoretical
plates were needed to achieve 99.9% pure products on the SCCR7 and SCCR6 batch

systems respectively.
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An alternative way of evaluating the "true" number of theoretical plates is
through the feed band broadening approach (Section 6.6). The "true" number of
theoretical plates found from this alternative method was 710 and 464 for the batch
SCCR7 and SCCR6 respectively, (Appendix A). The experimental results (Table 9.3)
showed that the existing length was sufficient to obtain 99.9% purities. Therefore the

resulting HETP values (based on fructose) were:

- From the graphical approach:
batch SCCR7, HETP = 3.84cm
batch SCCR6, HETP = 4.59cm

- From the feed band broadening approach:
batch SCCR7, HETP = 1.11cm
batch SCCR6, HETP = 1.39cm

9.2.3 Semicontinuous Systems

In Section 9.1.3.2 the semicontinuous length estimation was carried out using
the experimental conditions and results of runs 18.6-9-30-30-20 and 20-35-105-30-20
and the respective infinite dilution coefficients. To account for the actual operating
conditions the length evaluation was repeated using the modified distribution coefficients
and separation factors, (Appendix B). Therefore, at the actual operating conditions of
runs 18.6-9-30-30-20 (SCCR7) and 20-35-105-30-20 (SCCR6) the respective lengths
for 99.9% purities were 1042cm and 1201cm instead of 1154 and 1046cm found when
the infinite dilution distribution coefficients were used. The Sciance and Crosser paper
(227) implies the use of the infinite dilution coefficients although it is not clear. The
above results however show that it is essential to use the actual distribution coefficients

found at the particular operating conditions. The true number of theoretical plates,
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obtained from the modified Glueckauf (42) theory were 632 (SCCR7) and 360
(SCCR6), (Appendix A). From the experimental profiles (Figure 7.17) approximately
nine columns were sufficient to give 99.9% purities, therefore the experimental lengths

of the SCCR7 and SCCR6 systems were 590cm and 585¢cm respectively.

The new Experimental-Theoretical-Correlation-Factors applicable to the actual

operating conditions were:

- For the SCCR7:
590
ETCF = = 0.421
1402
- And for the SCCR6:
585
ETCF = = 0.487
1201

The new A values, far the batch-semicontinuous length comparison at the actual
conditions were obtained from equation 9.7 using the respective NTP values found from

the feed-broadening approach, thus maintaining a similar basis for comparison.

- For the SCCR7:

632

—— = A (1.53 - 1), therefore, » = 1.680
710

- And for the SCCR6:

360

—— = A (1.77 - 1), therefore; A = 1.008
464
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Therefore, the average ETCF and h values for the SCCR systems, obtained at the actual
operating conditions using carbohydrate mixtures of approximately 20% w/v

concentrations, were 0.454 and 1.344 respectively.

9.2.4 Discussion

In Section 9.1 the comparison between the relative lengths of the two modes of

operation was oversimplified since it was carried out using the infinite dilution separation

parameters, ie. K*4 and o values. The results however, obtained in this section are

more representative since they correspond to the actual operating conditions and account

for the effects of temperature, flow rates and concentration. The difference in the
respective estimated lengths, NTP, ETCF and A values is significant, and the results of
the later approach should be used; that is ETCF and A values of approximately 0.454 and

1.344 respectively. The new h value is double the infinite dilution one, but is still lower
than the original one used in equation 9.7 for the same reasons discussed in Section
9.1.4. In Section 9.1 the estimation of the number of theoretical plates for the batch
mode was carried out for each column, and the resulting total number was too high
considering the very low feed charge volumes and concentrations involved. In this
section a similar estimation was carried out for the total batch system as a whole and at
the actual operating conditions. The graphical evaluation of the number of theoretical
plates for the batch operation (31) incorporates the effects of temperature, flow rates and
concentration, but it does not account for increased throughputs and thus wide feed
bands, and also is not accurate enough due to the difficulty in'obtajning the exact value
from the graph. On the other hand, the feed band broadening approach accounts for
increased throughputs and feed volumes but it does not incorporate temperature and
concentration effects. None of the approaches allows for repetitive injections; in the

calculations a once through batch operation was considered. The number of theroetical
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Experimental Run Glucose Rich Product Fructose Rich Product

Glucose Total Product Fructose Total product
Purity % concentration % w/v Purity % Concentration
Yo WiV
02-2.4-6-30-29 91.5 0.372 90.2 0.007
(Reference 203)
20-35-105-30-20 99.9 237 99.9 0.64
(Reference 202)
18.6-9-30-30-20 99.9 2,12 99.9 0.93
66-14.6-40-25-60 82.9 11.6 90.07 5.84

System FwdConcmuation Average Injecion  Throug h GRP FRP
I;l vo]%me (suggar ds} glucose  fructose
ate cm uril uri

G F Total cm® min! % Pg”

Baich 10.1 102 203 105 15000 0.3 99.9 99.9

SCCR6

(Ref 202, 216)

Barch 1078 7.82 186 35 3750 0.075  99.9 999

SCCR7* R

* Operating conditions and results assumed to be analogous to the ones obtained on the
batch SCCR6

GRP: glucose rich product; FRP: fructose rich product.
G:  glucose
F:  fructose
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plates obtained {rom the two approaches is different, due to the limitations of the
‘respective theories. The theoretical plates obtained from the feed band broadening
approach was greater, and these values were used in the calculations for both modes of

operation, to maintain a similar basis of comparison.
. . . /
In the semicontinuous length estimation the kg value was assumed to be

constant; additional experiments however are needed to be carried out to investigate the

effects, if any, of temperature, concentration, throughput and system geometry on its

value. The difference in the K5, o, NTP, A, ETCF and theoretical lengths obtained on

the SCCR6 and SCCR7 systems, was a result of the different sizes, packing material

and packing density of the two systems, and the different feed fructose contents and

concentrations used. Since the exact contribution of the above factors on the A and
ETCEF values was not known the average of the respective values was used.

The above work has indicated the applicability and limitations of existing length
estimation theories, showed the usefulness of a theoretical link between batch and
semicontinuous operation, and high-lighted the necessity of improving the existing
models or developing new ones especially for the ba-tch Opcratipn, to account for

throughput and column dimensions.

0.3 f A in iti Leneth of
9.3.1 Introduction “

To investigate the accuracy of the Sciance and Crosser model (equation 9.1) in
predicting the length of the semicontinuous system, thé results and actual experimental
conditions of the runs carried out on the SCCR7 at increasing feed concentrations were
used, (ie. runs 18.6-9-30-30-20, 36-13-40-23-60, 46-13-39-24.17-60,
54-13-39-24.5-60 and 66-14.6-40-25-60). The effects of increased concentrations,
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Table 9.4: noth Estimation for th ntinuou t Various Fee ncentration

Run  Actual Results for 99.9% pure FRP ~ Results for the actual FRP purities

Kdg
NTP Theoretical HETP FRP Equipment ETCE
length (cm) (cm)  purity  Lengths (cm)
Experi- Theore-
mental tical
A 0.353 632 1402 2.22 99.9 590 1402 0.421
B 0.341 689 1591 2.31 92.4 787 592 1.329
€ 0.361 710 1700 2.39 901.78 787 615 1.280
D 0.377 724 1710 2.36 91.35 787 606 1.299
E 0.401 803 1674 2.09 90.1 787 560 1.410
Where: )

ETCF: Experimental-Theoretical-Correlation-Factor

A: experimental run 18.6-9-30-30-20
B: experimental run 36-13-40-23-60

C: experimental run 46-13-39-24.17-60
D: experimental run 54-13-39-24.5-60
E: experimental run 66-14.6-40-25-60
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flow rates, temperature, reduced fructose content and multicomponent nat:re of the
feed were incorporated using the modified distribution coefficients, as described in

Chapters 7 and 8 (also Tables 8.3, 8.4 and 8.9). The FRP purities used in the model
(xg term in equation 9.1) were the actual purities obtained from the respective

experimental run. A reverse approach was followed whereby, the theoretically obtained
length was compared with the actual length which was found experimentally to be
sufficient to give the particular FRP purity. Finally, a scaling up procedure is outlined

and a method of selecting the correct operating conditions is described.

9.3.2 Discussion of the Theoretical and Experimental Length Estimation Results

The theoretical length estimation of the semicontinuous SCCR7 was carried out
using the Sciance and Crosser model (equation 9.1), as described in the previous
sections, (a more detailed description is shown in Appendix B), at feed concentrations of
18.6, 36, 46, 54 and 66% w/v. The actual operating conditions were used (Table 8.7),
and the respective FRP purities used in the calculations were the same as the ones
achieved experimentally (Table 8.8). The aim was to test the accuracy of the model in
determining the required length. It was found experimentally that 590cm were required
to give 99.9% pure FRP at 18.6% w/v feed concentrations. For the other feed
concentrations the total length of the equipment, 787cm, was sufficient to give the FRP
purities shown on Table 9.4. The theoretical lengths at these purities were 592, 615,
606 and 560cm for feed concentrations 36, 46, 54 and 66% w/v respectively. Because
of the low feed concentration and flow rates fin run 18.6-9-30-30-20) the on-column
sugar conentrations were very low resulting in an ea:sier separation, thus requiring a
shorter system. At those low concentrations the disagreement between the experimental
and theoretical lengths is too high, thus questioning the model's applicability. At higher
feed concentrations, when the effects of concentration and flow rates are more

prominent, the experimental and theoretical lengths show similar variations, and the
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model underdesigns by approximately 58%. Since in most industrial applications high
feed concentrations (ie. over 35% w/v) are used, then on averge ETCF value of 1.33 can
be used in the length calculations for the semicontinuous sytem. To estimate the length
required to achieve 99.9% pure FRP, at various feed concentrations used in the

experimental programme, the calculations were repeated using the actual operating
conditions and an xg of 0.001, and the results are shown in Table 9.4. As the feed

concentration increases the required theoretical lengths increse sharply up to feed
concentrations of about 46% w/v, and then seem to stabilise. As it was found in Section
8.4.2, this also indicates that at feed concentrations of approximately 45% w/v and at
these operating conditions, the systems become overloaded. Assuming that the
theoretical and experimental lengths vary to the extent found above, the actual SCCR7
lengths required to obtain 99.9% pure FRP would be approximately 1.33 times greater
than the theoretical lengths shown in Table 9.4. That means, when operating at
maximum throughput (as in run 66-14.6-40-25-60) a two order of magnitude increases
in FRP purity, from 90.1% to 99.9%, requires a 2.83 times increase of the existing
SCCR?7 length, from 787 to 2227cm. In all these calculations the theoretical lengths
were bbtaincd using the same operating conditions with the respective experimental runs.
This means that although the purities would be increased, the throughputs (kg dry
solids/m3 resin/hr) would decrease due to the additional volume of resin. The
calculations also assume that the opergﬁng switch time remains unchanged. This and the
accuracy in the length prediction calculations, need to be verified by using a number of
SCCR equipment of the same column diameter and different length, and operating at the
same conditions.

The number of theoretical plates (NTP) rcquiI:e,d for complete separation were
calculated using the feed band broadening approach (Section 6.6 and Appendix A), since
although its limitations (Section 9.2.4) have been found experimentally (Appendix A), to



be accurate enough and applies specifically to the particular system. The resulting
average HETP value was 2.27cm. This compares well with the infinite dilution average
HETP of 2.09cm (Table 6.2).

Although this modified length estimation approach, for the semicontinuous
systems, is slightly more complicated than the "infinite dilution" one, it is more accurate
because it includes the effects at temperature, flow rates and concentration apparent in the

actual operating conditions, and it requires the same number of experimental parameters.

e

That is, the kg value, and the infinite dilution number of theoretical plates and

distribution coefficients.
9.3.3 A Stepwise Approach to the Scaling-up of a Semicontinuous Chromatographic
Refiner and a M f Selecting th tine Paramete

The above evaluation of the applicability of some of the existing design theories
and their modifications derived from the experimental findings, led to the development of

the following approach for the sizing of a scaled-up semicontinuous chromatographic

refiner.

- The column diar‘nctcr is derived from the required annual throughput, and is
based on a similar linear feed flow velocity rate as in the small scale SCCR. For
carbohydrate separations a li‘ncar feed flow velocity of 0.64cm min’! (ie. the
equivalent of 14.6cm3 min-! feed flow rate on the SCCR?7) is proposed. If
higher throughputs are desired the linear feed flow can be increased to 0.77cm

min-! (ie. corresponding to a feed flow rate of 17.6cm> min-! on the SCCR7).

- To increase the accuracy of the length estimation the values of the distribution

coefficients must be determined preferably at 25°C and linear flow rates of
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1.09cm min-1, It is therefore recommended that a column is constructed of ilic
diameter found above and a characterisation procedure as discussed in Chapter 6
performed in the batch mode. This would give the number of theoretical plates
and distribution coefficients at infinite dilution. A preliminary length estimation
using the results of the small scale SCCR unit (ie. SCCR7) should give an
approximate indication of the required length; this in conjunction with the
desired number of columns in the large scale SCCR would determine the length
of the individual columns. The incresed weight of the resin in larger columns
results in compression and possible damage of the resin in the lower part of the
column leading to high pressure drops and blockages. Also, the use of an
increased number of shorter columns would make it easier to achieve a more
uniform packing, and also the semicontinuous process would be nearer to true
continuous counter-current operation. It is therefore proposed that the length of
each column should not exceed 120cm and preferably be around 80cm. Using
shorter columns would increase the dead volume in the interconnecting
pipework and valves, but the overall dead volume is reduced in large scale units
- due to the larger volumes of stationary phase. Larger column diameters require

careful liquid distribution designs to prevent zone spreading.

The distribution coefficients derived above at infinite dilution conditions are
modified to account for the effects of temperature, flow rates and concentration
according to the nature of the feed using equations 7.3, 7.4, 7.5 and 7.19 to

7.24, as shown in Chapter 7.
The required length of the semi-continuous sytem to give the specified product

purities is evaluated using equation 9.1 and the Experimental-

Theoretical-Correlation-Factor of 1.33.
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- The separating efficiency of any chromatographic.system is traditionally
expressed in terms of the number of theoretical plates, NTP, and/or the height
equivalent to a theoretical plate, HETP. Therefore from the characterisation
results of the largecolumn and the total number of columns found above, the
total "apparent” number of theoretical plates at infinite dilution, N*, ’is found.
Then, using various feed and eluent flow rates, the actual total number of
theoretical plates vs the number of theoretical plates occupied by the feed
relationships and graphs are developed as described in Section 6.6 and
Appendix A. The "true" number of theoretical plates, NTP, for the whole
SCCR system is obtained from these relationships or the graph at the particular
operational feed flow rate, and the HETP value is derived from the total sytem's
length and NTP.

Once the system design has been completed, the selection of the main operating

conditions is carried out using the conclusions derived from the experimental program on

carbohydrate feedstocks. Surmnarising:.

- the eluent to feed flow rate ratio should be not less than 2.75:1 and preferably
approximately 3:1;

- for maximum throughput operating conditions analogous to the ones in run
66-14.6-40-25-60 should be used; |

- a reference switch time should be obtained by operating at intermediate feed
concentrations (ie. 30-40% w/v) and standard operating conditions, (ie.
corresponding to 13cm3 min"! feed flow rate on the SCCR‘;’, a 3:1 eluent to feed
flow rate ratio and at a representative feed fructose content). Then the proper
switch time for any other condition can be obtained using the relationships 8.1

to 8.4.
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This design approach requires a minimum amount of experimental data and offers

increased accuracy since these data have been obtained from the actual system.
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10.0 MATHEMATICAL MODELLING AND COMPUTER SIMULATION OF THE
SCCR7
10,1 In i

A number of mathematical models have been developed to simulate the batch
chromatographic process and to predict the elution profiles (229, 230). Most of these
models however involve statistical approaches which are simplified and applicable to
special cases. Jonsson (231) using the plate theory developed a computer program
which simulated the actual processes taking place in the chromatographic column, ie.
diffusion and adsorption. Sciance and Crosser (227) proposed a probabilistic modelling
approach for continuous chromatographic systems whi_ch related the degree of
separation, system length and.operating conditions for a binary feedstock and mid-point
feed location, (Chapter 2). Al-Madfai (228) developed an alternative model to predict the
plate height for moving bed continuous counter-current chromatographic gas-liquid

systems based on the random walk approach (26) as follows:

2D -2Y; Y, (u+ u]_)z
H= d.P + - o ————— esessn 10.1
u (Yl +V2)2 uy, - up Y,
Where
H = plate height
dp = average particle diameter
D,  =mobile phase diffusivity
u = mobile phase velocity
ur = stationary phase velocity
Y1 = rate of transfer of molecules from gas to liquid
Yy = rate of transfer of molecules from liquid to gas

A transfer unit concept was employed by Barker and Lloyd (232) in their

modelling of counter-current gas-liquid chromatographic systems. The resulting

equations predicting the number of overall gas phase transfer units (Ng) were:
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- For the rectifying section

1 (E,/Ko VL) -Cy (VG/K VL, - 1)
(NG)R = h| —— | ... 10.2
VG/(K Vi -1) E1/Ko VD) - Cy (Vg/Ko VL -1)

- And for the stripping section:

1 (Ez.-’KOV]_)-Cl (1 -VG/KO V]_) -l
Ngls = In
A-VaKVD | By VD) -G VK, V) |

Where:

E,andE, = mass flow rates of solute leaving in products 1 and 2 respectively
C,and G, = gas phase solute concentrations at points 1 and 2 in the column
Ko = the partition coefficient

Vgand Vi, = gas and liquid volumetric flow rates

These results indicated that the main resistance to mass transfer was in the gas
phase.

10.2 r 1 ) imulating i inuou ration
SCCR7 ~

Sunal (233) developed a simulation program for gas-liquid chromatography
based on plate to plate calculations to describe the operation of a circular counter-current
chromatographic equipment. This approach was adopted by Deeble (234) to simulate the
operation of the SCCR1 gas-liquid chromatographic systems and developed further by
Ching (203) in his liquid-liquid chromatographic studies on the SCCR4 system. The
program uses the equilibrium stage or plate concept, where the separating length of the
system is considered to consist of a number of theoretical piates, each containing a
volume of mobile phase and a volume of stationary phase. The mobile phase leaving

each stage is at equilibrium with the stationary phase in the stage. Therefore,
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considering a mobile phase flow rate, L, passing through a plate "n" having an initial
solute concentrationof C,,_1 and an exit solute concentration of C, the conditions

around the plate "n" may be represented by:

Plate n

n-1 n

A mass balance over the plate "n" for the solute gives:

dC, dpp,
LC,.1=LC,+V, + Vo e 10.4
dt dt
where:
c = solute concentration in the mobile phase

= solute concentration in the stationary phase
V,,V, = plate volumes of mobile and stationary phases respectively

L = mobile phase flow rate

Equilibrium on the plate is represented by the distribution coefficient K4, where by
definition:

Substitution of equation 10.5 into equation 10.4 yields:

dc,

LCp.q=LCph+(Vy+VyKg) —— 10.6
dt
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This equation can be integrated provided At is sufficiently small to allow C;,_1 to be
considered constant, to give:

-L At

Vi+VyKy

LAt
) 107

C,uCly l-cxp( ) +Cn°exp(

Where C,,° is the initial concentration of the solute in the plate.

For multicomponent feedstocks similar concentration profile equations can be
derived for each component by assuming no interaction between the components. The
first term on the right hand side of equation 10.7 represents the material-transferred from
plate (n-1) and the second term represents the material already present in the nth plate.

When this equation is applied for the post-feed section it is modified to account for the
component feed concentration, Cy, and feed flow rate F, hence the term Cy-1 is replaced

by the ratio:

LCn_I +FCf

L+F

The model predicts the solute concentration in the mobile phase leaving each
theoretical plate over a small time increment At, and the calculations are repeated over the
total number of increments. When this predetermined total number of increments, which
is equal to the switch period, has been:rcachcd, the sequencing counter-current action is

simulated by stepping the concentration calculations by one column.
10.3 1 Developme

Ching (203) in his simulation work assumed that the glucose was not retained

by the resin and used a glucose distribution coefficient equal to zero. Chuah (204) and



Gould (214) improved the Ching model by accounting for the glucose retention due to
the size exclusion principle and used a finite value for the glucose ;i’istribution
coefficient.

Abusabah (22) used the model to predict the concentration profiles in his anion
exchange studies. In all of the above studies the distribution coefficients were assumed
to be constant and the actual values used were obtained by trial and error to give the best
fit. Thawait (235) modified the Gould's model to account for the effect of the
background concentration on the distribution coefficients. The concentration-distribution
coefficient relationships used however, were applicable to the small 0.5cm id x 50cm
long batch column they were derived on, and their contribution on the simulation of the
ten column, 10.8cm id x 70cm long, SCCR6 was limited.

An alternative approach for the modelling of the SCCR units was employed by

England (236), where instead of assuming that C;,_{ remains constant over a small time

increment, At, he obtained n differential equations for the n plates, similar in form to

equation 10.6, ie.

- dcn
FCm+1Ch 1 =CL+F)Cy-(Vi+KgVy) — 10.9
dt
Rearranging and dividing by (V; + K4 V»),
dCy
= WO B RO e 10.10
dt
where:
L
Xy =
L+F
Y, =
Vi+KqVa
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o

Zn=

Assuming that a chromatographic system is divided into n stages the resulting set of

equations is as follows:

C;=%C, - YO 4% Cpy

Gy s XCy < ¥C, +Z Co

..................................

Cp=XCp1-YCp +ZCp
or

Ch=AC®+BCK 10.11

Equation 10.11 is solved in reference (236) and the solution is:
t

C(t) = exp (At) Cy +féxp [At-0]BCe(0)dr e 10.12
(@]

If the feed input is not time dependent the solution is:
C(t) = @()Co + A(t) BCy

where:

@)  =exp(At)

At) =Al[exp(A)-T=AT[B(1)-T]

Although this approach is theoretically better it has been found that it required
excessive computing time cxcce&ing the maximum CPU time (10000 seconds) available
on the Harris 800. Therefore the original approach was followed in the simulation

work, based on equation 10.7.
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10.4 mprovement he Simulation ram and its Application for R7

System

The final version of the simulation program developed by Thawait (202) and
applied to the ten column 10.8cm id SCCR6 system, was used as a basis. The program
was rearranged in a more general form to improve its compatibility with different SCCR
systems of various configurations. All the system related parameters in the main
program, ie. dimensions, numbers of columns, liquid inlet locations, number of
theoretical plates, voidage and stationary and mobile phase plate volumes; the operating
parameters, such as the infinite dilution distribution coefficients, flow rates, feed
composition, and purging period; and program related parameters such as reference flow
rates, number of cycles, and time increments were replaced by "dummy" variables,
which were defined at the beginning of the program. |

Because of the long computing time required and to give priority to other
University Harris 800 computer users, the program was run as a "control point job"
(237), whereby it was executed stepwise whenever some free computing time was
available. When the initial version was run on the Harris computer with settings similar
to the ones used by previous workers (202, 214), the program failed to complete the
calculations within the 10000 seconds maximum computing time allowed. By
minimising the amount of calculations performed inside the nested "DO" loops, the
required CPU times was reduced to around two hours.

The actual operating switch time was predicted using equations 8.1 or 8.2 at the
particular feed concentration, then it was adjusted using equation 8.3 to account for the
feed flow rate, and adjusted further using equation 8.4 ta account for the fructose content

of the feed.
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The simulation program was developed to perform a dual mode of operation; in
addition to the concentration profile prediction, a system design was also carried out.
The "true" number of theoretical plates at the particular feed and eluent flow rates were
obtained using equations 6.9 or 6.10. The SCCR7 system length required to obtain a
given separation, which in this work was chosen to be 99.9% pure FRP, at the particular
operating conditions was obtained using the Sciance and Crosser model (equation 9.1?.
From these results the actual height equivalent to a theoretical plate was also determined.

In the previous versions the on-column "point" concentration profiles were
predicted at a predetermined stage of the simulation. In this work the average
concentrations for each colunn were calculated after nine cycles corresponding to the
purging concentration profile, since it offers a more accurate representation of the
separation. The purging period (PERTIM) used in the simulation was similar to the
experimental. If required, the program can be modified easily to give both the
on-column and the purging concentration profiles.

The program is rearranged to account for up to three components; the retarded |
fructose due to calcium ion complexing, the lesser retarded glucose due to size
exclusion, and the faster moving impurities (maltose and oligosaccharides aé one
component). Because of the relatively low concentrations of these impurities it was
assumed that they were totally excluded and migrated along the system in the mobile
phase as one component. The program can be modified to account for more than three
components by including the required .additional mass balance equations in the feed and
separating sections. The importance of the distribution coefficients on the simulation
was identified by previous workers (22, 203, 204, 214) who used arbitrary values to
achieve the best possible agreement between the cxpcﬁmhental and simulated profiles.

Thawait (202) made a further contribution by identifying the effects of
background concentration and temperature on the distribution coefficients, and
incorporated a set of concentration vs distribution coefficients relationships and

temperature adjustments in the program. Their contribution however was limited since
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they were applicable to the system the experimental data were obtained from and not to

the SCCR6 system. Also the actual distribution coefficient used was the maximum of
the values obtained from the concentration vs K4 relationships.

In this work the infinite dilution coefficients obtained from the column
characterisation of the SCCR7 system (Chapter 6) were modified to account for the

effects of temperature and liquid flow rates using the general relationships 7.3, 7.4 and
7.5 (Chapter 7). During the simulation the general concentration vs K4 relationships

(equations 7.19 to 7.24) were used to modify the above distribution coefficients
according to the background concentration on each plate. The actual glucose and
fructose distribution coefficients in the plate concentration calculations were the weighted
average of the values obtained using equation 7.19 to 7.24 adjusted according to the
composition on each plate. The average glucose and fructose distribution coefficients for
the particular separation were obtained in a similar way and were based on the feed
composition.

In the plate to plate concentration calculations the total "apparent” number of
theoretical plates based on fructose was used. The use of the "true" number of
theoretical plates would have led to more accurate results but it was not employed
because of the computing time limitations. From the initial applications of the program
in the simulation of the SCCR7 operation it was noted that the simulated concentration
profiles of the two main components v\;crc "delayed", ie. appeared to be "shifted" to the
right, especially the fructose, with respect to the experimental. This indicated either that
the effect of changing the operating switch time was less pronounced in the simulation
than in practice, or that the distribution coefficients, modified for the effects of
temperature, flow rates and background concentration using equations 7.3 to 7.5 and
7.19 to 7.24, were still in some &isagreemcnt with the actual ones. To obtain a better
agreement with the experimental profiles, two slightly different switch time

approximations were used in the simulation (SWTIME and SWTEFR for the glucose and
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fructose respectively), which in general were smaller than the actual switch time. This
resulted in an artificial "shift" of the simulated concentration profiles to the left.

To investigate the cause of this disagreement and identify which of the above
reasons contributed to the shift, it is recommended in future work to obtain a new set of
experimental data at various temperatures, concentrations and flow rates, operating on a
production scale column (ie. 5.4cm id) at similar operating conditions to the actual ones,
and test the accuracy of the relationships 7.3 to 7.5 and 7.19 to 7.24. In the data section
of the program the paramecter ILK2 = 86413 appears which is not used anywhere in the
main program. This parameter was the final value of a counter used during the initial
stages of the program development to check if all the iterations were carried out properly,
and this testing sequence was removed in the later stages of the work. Although this
parameter is no longer used, if it is eliminated the computing program would fail to run
properly. This peculiarity of the compiler was brought to the attention of the advisory
group in the Computing Centre but no satisfactory answer was given.

In the previous versions the simulation was carried out using a fixed number of
time increments (KKINK) per sequence and a fixed switch period. Because of the
various switch times used in this work, to provide a similar basis the duration of t;.ach
time increment (DELTAT) was kept constant and it was chosen to be 2.5 seconds. The
number of time increments per sequence (KKINK) was obtained using the DELTAT
value and the operating switch time for the particular conditions. Reducing the DELTAT
value to 2 seconds increased the CPU time by approximately 20% without any
significant improvement in the predicted concentration profiles.

A flow chart of the simulation program is shown in Figure 10.1 and a listing of
the setting used in the simulation and the total CUP t:imeh taken for each run is presented
in Table 10.1. A program listing a typical set of the results obtained after executing the

program and a comprehensive list of the parameters used are shown in Appendix C.
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10.5 Resul i ion

To examine the accuracy of the simulation program the experimental conditions
of runs 18.6-9-30-30-20, 36-13-40-23-60, 46-13-39-24.17-60, 54-13-39-24.5-60 and
66-14.6-40-25-60 were used. These runs were chosen because the product purities
were found experimentally to be within specification. Both the experimental and
simulated concentration profiles are plotted in Figures 10.2 to 10.6 respectively. The
very good overall agreement between the simulated and experimental profiles highlighted
the contribution of the above modifications.

Although the existence of instantaneous equilibrium is arguable, and the column
related parameters were evaluated for each column, operating separately in a batch mode,
and not for the continuous systems as a whole, the model was found to describe the
multicomponent separation well.

A close inspection of the respective concentration profiles shows that the
"cross-over" point locations are almost identical, and the individual experimental
concentration profiles, especially the fructose, are reproduced. The only exemption is
for run 36-13-40-23-60 (Figure 10.3), because the experimental "on-column"
concentrations ("point" instead of "bulk" values) were used, since the system was not
purged at the end of this experimental run. The simulation profiles of the maltose and
oligosaccharides, were starting later and the concentrations were lower than the
corresponding experimental ones, because it was assumed that these components were
totally excluded.

The fructose experimental profiles had slightly higher (sharper) concentrations
in the third column where as the simulated ones were srn_oother. This could be attributed
to the nature of operation.

The structural improvements of the program resulted in reductions of over 15%
in the required CPU time (Table 10.1). The predicted switch times were in good

agreement with the actual (Tables 10.1 and 10.2), and using the predicted ones for any
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set of new operating conditions would minimise the experimental work substantially.
The predicted "true" number of theoretical plates also agreed well with the values
obtained in Chapter 9 (Table 9.4); the small differences were because, in the simulation
the predicted switch times were used instead of the actual ones which were used in
Chapter 9.

Table 10.2 includes the theoretical SCCR7 length required to obtain 99.9% pure
products at the particular operating conditions, and also the resulting HETP values. The
actual distribution coefficients of glucose and fructose were obtained based on the feed
composition and using an average linear velocity, ie. based on the average liquid flow
rate in the pre and post feed sections. The slight disagreement with the corresponding
distribution coefficients obtained in Section 8, (Tables 8.3, 8.4 and 8.9), was because
they were determined for the more adverse conditions possible, ie. using the post-feed
liquid flow rate in the liquid velocity calculations.

Figure 10.7 is a plot of the results of run 47.5-13-32-28.5-60. The good
agreement of the simulated and experimental profiles highlighted the model's flexibility
in accommodating changes in the operating flow rates.

Summarising, the simulation program is very useful in presenting a fairly
accurate overall picture of the separation expected for any set of operating conditions,

and its application can minimise the experimental work required and provide a better

understanding of the separation.
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Table 10.1: ne in the Simulat fth nit an omputing

Im n : he Simulation
Feed Actual - Switch time Purging CPU
Conc Switch approximations (min) period Time
% wiv Time (min) (s)
(min)

wrt glucose wrt fructose

18.6 30.0 30.4 23.9 13 8514
36 23.0 22.5 19.2 13 6312
46 24.17 233 29.1 13 6794
54 24.5 23.9 20.3 13 6850
66 250 233 19.7 13 6247
475 28.5 28.2 23.9 24 6845
le 10.2: Simul R for the m
Feed Predicted Actual isﬁbuﬁon "True" SCCR HETP
Conc Switch coefficients No of length (cm)
% wiv Time theoretical required
(min) plates to obtain
Kdg Kar 99.9%
FRP (cm)
18.6 30.12 0.335 0.509 633.7 1355.3 2.1
36 22.96 0.339 0.400 684.5 1766 2.6
46 24.30 0.361 0.420 716.1 . 1692.6 2.4
54 24.52 0.377 0.434 721.6 1707.2 2.4
66 22.32 0.398 0.450 732.8 1998.6 2.7
47.5 24.45 0.380 0.441 719.8 1912.2 2.7




Figure 10.1: Computer flow chart for the simulation of the
continuous operation of the SCCR7 system
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CHAPTER 11

11.0 AL - SEPARATION
11.1 Introduction

In the previous chapters the successful application of the semicontinuous
chromatographic refiner (SCCR7) as a separator has been described. The encouraging
separation results and the poter:tial of such a chromatographic system (SCCR) as a
reactor-separator has led us in researching the biochemical synthesis of dextran from
sucrose in the presence of dextransucrase enzyme and the simultaneous separation of the
formed dextran and the valuable byproduct fructose. This combined reaction-separation
operation would reduce the capital and operating costs, provide better product
reproducibility and control and is expected to improve the dextran product yield by
removing the acceptor fructose from the reaction mixture, immediately as it is formed, by
the ion-exchange chromatographic principle. A provisional patent has been registered
for this new process (3).

The aim of this work was to investigate the effect of scaling up the batch
chromatographic reactor-separators on the extent of the sucrose conversion to dextran,
and to derive a set of recommendations which would assist in the successful future
application of the SCCR systems as semicontinuous chromatographic reactors separators
(SCCRS). These increased scales c;f operation require larger amounts of purified
dextransucrase and it was therefore necessary to investigate and select the appropriate
processes that would purify the fermentation broth successfully, cause minimum enzyme
denaturation, be economically viable, and provide successful integration between the

fermenter and the reactor-separator.
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11.2 Dextransucrase Purification
11.2.1  Introduction

The crude dextransucrase (from the fermentation broth), contains a number of
impurities, such as dead cells, dextran, fructose, leucrose, mannitol, proteins and other
oligosaccharides; small quantities of levansucrase and intervase are also present. The
cells present result in mechanical problems and fouling of the stationary phase and the
other impurities interfere in the HPLC analysis. The mannitol and fructose present
prevent accurate quantification of the fructose formed, and similarly, the leucrose present
overlaps the unreacted sucrose. The dextran and other proteins prevent the successful
evaluation of the molecular weight distribution of the newly formed dextran. It was
therefore considered necessary to purify the crude enzyme. A number of methods have
been published (Chapter 2) for the purification of dextransucrase, and the selection of the
.proper ones was based on:

- the scaling up potential to obtain high purification throughputs;

- the principle of operation, process time and number of stages, to minimise
enzyme denaturation due to large shear forces and heat generation;

- the economics and extent qf purification, to select the required number of
purification stages that giv-e the necessary enzyme purity; any additional
purification would result in further enzyme activity losses and additional

capital and operating costs.
The separation processes judged to meet most of the above requirements were

ultrafiltration, cross-flow microfiltration and centrifugation. A more detailed

investigation of the above processes is described in the following sections.
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Because of the large scale of operation, the enzyme requirements were high (typically
3600 DSU.hr"! for a 5.4cm id x 230cm long batch reactor-separator), and a number of
crude dextransucrase batches had to be bought from outside suppliers. For reference

purposes these batches are identified as follows:

- FISONS batch; this was the original batch used. It was supplied by FISONS
Pharmaceuticals (Holmes Chapel, Cheshire) and was produced by ABM
(Wales). Its initial activity was 270 DSU.cm™ and had a milky white colour;

- STURGE batch; also supplied by FISONS but it was produced undqr contract
by STURGE (Selby, Yorkshire), having an initial activity of 170 DSU.cm™3
and a brown colouration.

- ASTON batch; produced in a 10 1 New Brunswick fermenter at the
Department of Chemical Engineering, Aston University. The fermenter was
commissioned at the end of this research program and therefore this batch was
used only in some of the purification studies. Its initial activity was 130 DSU

cm’3, and was also white.
11.2.2 Removal bv Centrif

To provide a basis for mf:asuring the extent of cell removal the results
obtained from a MSE SS50 Ultracentrifuge (FISONS UK) were used as a reference,
having a capacity of 240cm3 and capable of centrifugal forces up to 77000g. It has been
found that at high centrifugal forces and/or long processing periods there are increasingly
large activity losses in the supernatant, partly due to en-zyme denaturing from the large
shear forces and partly due to enzyme removal with the cells. The reference operating
conditions were therefore chosex-u to be 15 minutes and 10000g. At these settings there

was an activity loss of up to 6%.
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During the initial cell removal experiments a batch centrifuge (CU5000
KONTRON UK) was used, having a maximum capacity of 480cm3 per batch and a
maximum centrifugal force of around 2000g. At a process time of 15 minutes up to 75%
of the solids were removed and the resulting activity losses were between 4 and 5%.

Because of the low centrifugal forces and capacity of the above centrifuge a
continuous centrifuge was evaluated and used to purify the large quantities of enzyme
required for the experimental program. The centrifuge was a New Brunswick Scientific
LE model, capable of centrifugal forces up to 50000g. Over 90% of the cells were
removed from the enzyme by passing the fermentation broth once through at 30000g and
" a flow rate of 5000cm3 hr'l. The low processing time resulted in a reduced activity loss
of only 3%. The only limitation of this type of continuous centrifuge is the need for
dismantling approximately every 2 hours to clean the cylinder. This would present
additional problems in maintaining sterile conditions and it could limit its applications in
the cell removal of intra-cellular enzymes. A centrifuge with continuous flow of the two
layers would be preferred. |

There was no temperature control in the centrifuge but because of the short
residence time it is believed not to be necessary providing the initial broth is at about
59C. Although the very small amount (< 10%) of cells still present could have some
effect on the life expectancy of the membranes used in the subsequent purification

stages, any additional centrifugation would result in higher activity losses.

F

11.2.3  Removal of Non-solid Matter by Membranes
11.2.3.1 Introduction

Because of their specific selectivity, negligible heat generation and low energy
costs, membranes are used increasingly in the concentration and purification of

proteineous solutions. Although the actual effect of proteins on the mechanism around
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and inside the membrane layer is not well known and still under dispute various workers
have made considerable progress in the use of membranes (238). The aim of the work
was to remove the low molecular weight impurities such as leucrose, mannitol and
fructose at sufficient throughputs and with minimum activity losses.

Jackson and Stewart (239) reported a molecular weight of 171000 daltons for
the dextran sucrose, while Ebert and Schenk (157) claim that the dextransucrase in
association with dextran has a molecular weight of 280000 daltons. According to the
literature membianes have only been used to concentrate the dextransucrase and not for
its purification. Kaboli (170) used an Amicon 402 ultrafilter fitted with an XM10DA
(100000 daltons cut-off) flat disc membrane to obtain a 30 fold concentration. Monsan
and Lopez (174) used a Sartorious SM 12134 filter unit to concentrate the enzyme from
24.5 t0 93 DSU.cm™3.

Robyt and Walseth (169) used an Amicon ultrafiltration cell having a PM-10
(10000 daltons cut-off) membrane to get a 25 fold concentration increase. Zafar (240) in
his experimental work proposed the use of an Amicon ultrafiltration membrane with a
30000 dalton normal molecular weight cut-off.

In this work during the ultrafiltration operation the centrifuged fermentation
broth was used and the low molecular weight (< 500) impurities were removed in the
permeate and the dextransucrase was kept in the retentate. For comparison purposes and
in view of a better process selection the more novel cross-flow microfiltration process
was also evaluated; theoretically the :large pore sizes (0.2 wm) of these membranes
should allow all the non-solid matter, including the enzyme, through in the permeate.

The optimum operating conditions were obtained experimentally and the
manufacturers figures were only used as initial guesses because of the varying solution
concentrations, pressure drops and particularly the proteineous nature of the mixture. A
general equipment layout for b;jth the ultrafiltration and cross-flow microfiltration

operation is shown in Figure 11.1.



The application of membranes in enzyme purification has been found to result
in substantial activity losses, sometimes in excess of 50%. These losses could be due to
adsorption and denaturation or due to enzyme permeation through the pores and
entrainment. Adsorption losses occur due to the formation of finite non-covalent bonds
with the membrane, and are a direct function of membrane surface area. Its effect is
increased in dilute solutions. Denaturation can occur as a result of shear fields created
during the enzyme processing, the presence of air-liquid interfaces due to the unfolding
of the enzyme molecule, and also due to plating out in stainless-steel surfaces (134).
Retention of a complicated solute like an enzyme is not only a function of molecular size
and shape but of the enzyme nature, ie. enzyme molecules tend to aggregate and thus
increasing their effective molecular size. Membrane manufacturing is still a developing
area, the available membrane range is limited, and the various manufacturers tend to
follow different membrane characterisation procedures. Therefore the selection of the

right membrane type 1s very difficult and usually requires experimenting.
11.2.3.2 Ultrafiltration Studies

Because of the increased enzyme requirements the Amicon (Stonehouse,
Glos) HP10P30-20 hollow fibre cartridge was used. The cartridge had a total membrane
surface area of 0.9m? and a 30000 daltons cut-off.

It was connected onto an }existing rig in a similar arrangement to the one
shown in Figure 11.1. The rig consisted of two stainless-steel tanks which were
lagged, a Stuart Turner centrifugal pump and a Filterite inline filter to remove any fine
solids present. The system was operated at 7 KNm™2 back pressure and an overall
pressure drop of 62 to 70 kNm-2. CHURCHILL (Middlesex) and GRANT
(Cambridge) cooler units were ‘used to maintain the permeate and retentate at 6°C to

prevent any activity losses due to high temperatures. The diafiltration mode of operation
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was followed where deionised water was added at three times the volume of the initial
enzyme volume and the operation was carried out until the solution volume reached the
initial enzyme volume which was 8 litres for all the purification runs. The diafiltration
operation was repeated until the required purification levels were reached. Throughout
the operation the pH was kept around 5.3. When only deionised water was used to rinse
the membrane out during the initial period, the permeate rate was around 500 cm3 min~L,
Over the purification period the permeate flow rate was dropped to an average of 105

3 min-l

cm - The proteins present are believed to form a gel layer on the membrane
surface and/or partly block the pores, thus reducing the selectivity and permeate rate.
This membrane fouling from the proteins is a common phenomenon in biotechnological
applications and presents a major area for further development. At the end of each run
the membrane was washed with 0.1 M NaOH for 20 minutes from each side in turn, and
then flushed through with deionised water for 15 minutes. This washing procedure was
sufficient to get the initial permeate rates of 500 cm3 min~! when only deionised water
was used. The membrane cartridge was stored in deionised water containing 0.02 g.I'1
of sodium azide. From the purification results (Table 11.1) it can be seen that on

average over 90% of the non-solid impurities can be removed. The membrane fouling is
believed to cause the large reduction in % impurity removal. For the first three batches
four diafiltrations were sufficient to remove over 93% of all the major impurities,
although there was a progressive redt_lction in the purification achieved from the first
batch to the third. For the fourth batch. (STURGE 2) after five diafiltrations the impurity
removal was still below 90%. In the fifth batch (STURGE 3) it was decided to carry out
six diafiltrations, and although the purification levels were better than the previous batch
they only just managed to exceed the 90% level. These results indicate clearly that
although the ultrafiltration cartridge can be used to separate successfully the non-solid

matter of the fermentation broth, it is very prone to fouling; some of the proteins present

are trapped within the membrane layer and thus alter the membrane selectivity. The
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results also indicated excessively high activity losses. These increased from around 43%
t0 49.7% when the number of diafiltrations increased from 4 to 6. Since the temperature
was kept below 6°C and the pH at 5.3, this enzyme denaturation is believed to be mainly
due to the shear fields present. The ultrafiltration operation involves a continuous
recycling of the retentate through the narrow hollow membrane tubes, which form the
ultrafiltration module, thus generating considerable shear forces. The main source of
shear formation is attributed to the centrifugal pump used. The centrifugal pump also
resulted in foam formation which caused additional activity losses due to the uncoiling of
the enzyme molecules at the liquid-gas interfaces (134). As expected the activity losses
increased with increasing ﬁrocess time. It is therefore proposed to use a peristaltic
pump, preferably with two heads operating out of phase, to reduce these activity losses
and also minimise the pressure fluctuations due to the pulsations. In addition to that the
pH must be kept within 4.6 and 5.4, the operating temperature as close to 1°C as
possible, and the process time must be reduced, ie. using a larger ultrafiltration cartridge

such as the AMICON H53P30-20, having a total membrane area of Sm2.

11.2.3.3 Cross-flow Microfiltration Studies

The recent increased reported (241, 242) interest in the application of
cross-flow microfiltration for the removal of particles and emulsions led us to evaluate
such a system for the dextransucrése purification. An ENKA LM2NO06 module
(marketed by APV Membrane Processes Ltd, Crawley) was used, having a total
membrane area of 0.04m2. The module had a total of 85 capillaries, each of 0.06cm id
and 35cm long made of hydrophilic membrane havirig 0.2 micron pores and it was

connected in a similar arrangement to that shown in Figure 11.1.
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Batch  Total Number Total Volume Total Total Activity % impurity removal
of of water Process  loss (%) ;

Diafiltrations  added (1) time (min) Leucrose Fructose Mannitol
FISONS 1 - 96 970 42.7 97.7 98.4 99.0
FISONS 2 4 96 980 429 95.1 946 982
STURGE 1 4 96 990 432 935 95.3 95.9
STURGE 2 3 120 1230 47.0 86.5 89.7 90.3
STURGE 3 6 144 1480 49.7 89.3 90.1 91.5

le 112: Flow Microfiltration 1
Batch Volumes Total process recovery Total non-solid
added (1) time (min) as % activity in impu;;itjes asa
in
Water Enzyme Permeate Retentate Permeate Retentate

ASTON 18 6 1200 9 75 71 29
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Initially an MPL L150 pump, fitted with a single L-PC50 head, was used
capable of operating within the required flow rates which were 1 to 51 min~1, Operating
at these flow rates however resulted in high pressure drops without any sufficient
increase in the permeate rate, and prohibited the use of any back pressure. Also the
single head arrangement gave pressure fluctuations of around 33 kN m2. It was
therefore decided to use an MPL PG136X pump fitted with two heads (operating out of
phase), and operating at 800 cm3 min~L.

A 35 kNm™2 back pressure was used giving an overall pressure drop of 138
KNm2 + 14 kNm2 due to the pulsations, which was just below the maximum operating
pressure drop of 160 KNm2. Eighteen litres of deionised water were added to six litres
of enzyme and the operation continued until the final concentrated retentate had a volume
of around six litres. The operating temperature was 15°C and the retentate pH was kept
at 5.3. The enzyme used was the ASTON batch as obtained from the fermenter and
without any pretreatment, ie. containing all solid matter and non-solid impurities.

Initially the membrane was prewetted for 5 minutes with a mixture of 70%
isopropyl alcohol and 30% water, followed by a water wash. The initial permeate flow
rate (water only) was 110 cm> min~!, and during the enzyme purification it dropped to
an average of 15.5 cm3 min“l. When water only was used the permeate flow rate
increased to 107 cm3 min"], ie. almost to its original value. This indicated that only a
very small number of enzyme molecules or cells are trapped within the membrane due to
the larger pore sizes, and also that th‘c drop in permeate flux during purification was
mainly due to the gel layer formation by the proteins and also possibly due to increased
diffusion difficulties of the small molecules through the concentrated cell and protein
suspension to the membrane surface. )

At the end of the run a washing procedure similar to the one used for the

Amicon H10P30-20 module (Section 11.1.3.2) was followed.
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In hollow fiber cartridges, operating either as ultrafilters or cross-flow
microfilters, the high fluid velocities inside the membrane tubes sweep particles
tangentially across the membrane surface. This high velocity theoretically minimizes the
solids layer build up and maintains high permeate fluxes compared to static filtration.
The ultrafiltration and cross-flow microfiltration results however indicated that this
continuous "cleaning” effect was not sufficient. The Enka microfiltration unit offers an
additional facility where the permeate is at certain intervals back flashed through the
membrane, for a few seconds in the opposite direction tc the permeate without
interrupting recirculation, removing most of the gel layer from the membrane surface
(244). The reduced permeate fluxes observed during the purification indicated that this
continuous gel layer removal technique does not overcome the problem completely.
Although the cross-flow principle removes the deposited enzyme (*'static” gel layer) the
incoming enzyme still tends to be deposited due to the increased concentration gradient.
Therefore a continuous deposition and removal takes place which effectively leads to a
"dynamic" moving gel layer. This reduction in flux through a simple cross-flow filter
due to the so called "particle polarisation" has also been identified by Wakeman (137),
and a possible way of minimising this effect is by applying a pulsating electric field.

Originally it was decided to use microfiltration as an alternative to
centrifugation ie. for cell removal only, followed by ultrafiltration to remove the other
non-solid impurities from the enzyme and concentrate the final enzyme mixture. The
experimental results (Table 11.2) hov;revcr showed that only a very small amount of the
enzyme is removed in the permeate, approximately 9% in activity terms, and the
remaining is in the retentate. This could be attributed to:

- the globular nature of the enzymes which tend to aggregate so that their

effective molecular size is much larger than the native molecule;

. |
- the increased effed['tivc size due to the associated dextran;
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- the ionic changes in the enzyme mixture and the electrokinetic properties of the
membrane;

- and finally, although thcl dextransucrase is an extracellular enzyme it is
possible that a greater proportion of it is still attached to the surface of the cells

and moves with them.

Because of the low permeate flux the operation took 1200 minutes and only
one concentration was carried out. An HPLC analysis, using the BIO-RAD Aminex
HPX87C calcium changed column, showed that over 70% of the non-solid impurities
were removed in the permeate and also indicated (Figures 11.2 a,b,c) that the Enka
membrane was not selective to any of these impurities.

Centrifugation tests, using the reference MSE SS50 ultracentrifuge, showed
that the permeate was free of cells. The purification was carried out over two and a half
working days and to compare the activity losses a sample of the initial unpurified enzyme
(pH 5.2) was kept in a flask for the same period of time at 15°C. At the end of the
purification an activity test showed that this reference sample retained 87% of its activity,
while a total of 84% of the activity was recovered in the processed enzyme; (9% in the
permeate and 75% in the retentate). A number of conclusions can be derived from these

activity results and can be summarised as follows:

- approximately 13% of the a(iﬁviry losses were due to the enzyme denaturation
resulting from keeping the enzyme solution at relatively high temperature
(15°C) for over 60 hours and can be reduced further by operating at lower
temperatures (between 1 and 5°C) and maintaining the pH within 4.5 and 5.4;
- the application of the double head positive disi:laccment pump minimised the
enzyme denaturation (only 3% activity losses) by offering low shear and

foam free operation;
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Figure 11.2: HPLC analysis of the original mixture and products
of the microfiltration enzyme purification

19.33

(a) Original mixture

11.46

{b) Permeate 12.36

19.81

(c) Retentate
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- by purifying first the impurities from the fermentation broth containing the
cells and enzyme, the enzyme remains stable for long periods, possibly
because most of it is still attached to the surface of the cells, or due to extra
enzyme stability in concentrated solutions and/or due to the presence of the
protective dextran (166);

- the low activity losses and the fact that at the end of the run the permeate flux
almost returned to its original value showed that the membrane fouling was

kept to a minimum.

By carrying out a second or third concentration well over 90% of the
impurities are expected to be removed and the activity losses are not expected to exceed
15%. This however would require increased permeate fluxes and can be achieved either
by using a larger microfiltration cartridge or using eight or more of these LM2NO06

cartridges in parallel.

11.2.4 Downstream Process Integration for the Purification of Dextransucrase

The criteria for the selection of the purification processes were minimum
enzyme denaturation, extent of purification, low capital and operating costs, scaling up
potential, ease of operation and compatability for successful integration with the
fermentation and reaction-separation (-dextran production) stages.

Enzymes are generally sensitive to pH and temperature changes, shear forces
and air-liquid interfaces, ie. in the presence of foams or bubbles. The various enzyme
solutions used were kept frozen and were left at room t;:mperaturc to thaw before using
them. During thawing, activity losses between 5 and 15% occurred. Although enzymes
are expected to be stable at sﬁb-zero temperatures it has been reported (166) that

dextransucrase lost over half of its activity when stored at -15°C for two days. When
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1.3: Enzvme

ility during Purification - Aston Batch

(The results correspond to similar solution concentrations)

Enzyme Solution Activity (DSU.cm‘3) Loss in activity (%)
Original enzyme 112 0 (basis)
Centrifuged 109 2.7

Microfiltered 107 4.4

Microfiltered & centrifuged 101 9.8

abl 4: zZym nsitivi e Temperature - on Batch (the resu

represent the activity testing of the above samples carried out 24 hours later. The

activities correspond to similar solution concentrations)

Enzyme Solution Storage Temperature Activity . Loss in activity
oC DSU.cm™3 (%)
Original < 5 108 3.6
Centrifuged 5 89 20.5
Microfiltered 5 103 8.0
Microfiltered & centrifuged 5 80 28.6
Original 20 96 14.3
Centrifuged 20 77 352
Microfiltered 20 90 . 19.6
Microfiltered & centrifuged 20 —69 38.4
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the unpurified FISONS and STURGE batches were left for 24 hours at 5°C in the

refrigerator activity losses of up to 8 and 12% occurred respectively. The FISONS and

STURGE batches were purified by removing the cells first using centrifugation and then

diafiltration; activity tests on the purified batches showed that for every 24 hours they

were kept at 5°C, the activity was reduced by up to 20% and 43% respectively. This
presented an additional problem in the reaction-separation studies since it was very
difficult to maintain constant enzyme strength and thus obtain reproducable results. The

STURGE batch was also more sensitive and unstable during both storage and handling.

The above results indicate that after removing the cells the enzyme solution becomes

more unstable even at low temperatures. To verify this a comprehensive activity analysis

was carried out on unpurified, centrifuged, ultrafiltered, ultrafiltered and centrifuged
samples of the Aston enzyme, both immediately after purification (Table 11.3) and after
storing the samples over 24 hours at 5°C and at room temperature (Table 11.4). The

CU 5000 KONTRON batch centrifuge was used for the cell removal. An analysis of the

results led to the following findings and conclusioﬁs:

- cell removal using centrifugation .resulted in just under 3% of activity loss;

- after cross-flow microfiltration (one concentration only) the activity losses
were 4.5%;

- a complete purification, where the microfiltration was followed by
centrifugation, resulted aJm.ost in a 10% activity loss;

- a 24 hour storage of the fermentation broth at room temperature resulted in an
over 14% activity loss; this loss can be reduced to under 4% by storing the
unpurified enzyme at 5°C. All solutions lost 12 to 14% more of their activity
when they were stored at 20°C instead of 5°C;

- the microfiltered enzéme mixture (containing the cells) retained over 96% of
its activity when stored at 5°C, and over 84% when stored at room

temperature for 24 hours;
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- after 24 hours the centrifuged enzyme lost over 18% of its activity when
stored at 5°C and over 29% when stored at 20°C. The high centrifugal forces
and the associated shear remove any enzyme attached to the cells and also
cause denaturation. The results of the microfiltered and centrifuged samples
show similarly high enzyme losses, ie. over 20% and 31% respectively;

- a comparison of the results immediately after centrifugation and 24 hours later

indicated that the enzyme becomes very unstable when the cells are removed.

The cell removal alters slightly the enviroment in which the enzyme was

grown and this possibly leads to this instability;

- this cell removal effect is supported by the corresponding results of the
ultrafiltered samples, where the presence of the cell in the enzyme medium

resulted in a lot lower activity losses.

The application of membranes and centrifugation for the enzyme purification
offers a relatively simple operation which can be easily automated, involves no heat
generation and reIativeb‘f low shear forces, giving reproducable and highly pure enzyme
solutions (whose purities can be increased further after carrying out an optimisation
between the activity losses and purification levels); the scaling up is simple and presents
no variations in the purification characteristics and the capital and operating costs are
low. The disadvantages are the meml::ranc fouling by proteins, cells or silicones (present
as antifoams), and the sterilisation and containment difficulties. The centrifuge bowl
must be sterilised every time after cleaning and microfiltration cartridges made of ceramic
materials would be preferred to allow steam sterilisation. The application of
centrifugation and ultrafiltration or microfiltration wouid remove the cells and the other
non-solid impurities but not the enzyme associated dextran. To provide accurate
characterisation of the dextran produced from the chromatographic reactor separator this

associated dextran and any remaining proteins can be purified using polyethylene glycol
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(PEG) precipitation (177). Although this technique has been carried out on a small scale
(240), it is difficult to scale up, time consuming and relatively expensive, and its overall
efficiency and reproducibility is questionable. Concentration gradients usually exist
between the two layers and the final product contains some PEG which introduces a new
problem in the dextran characterisation. The activity losses are typically around 50%
(240) and from the production point of view it was therefore considered not to be
necessary. Summarising, two alternative techniques have therefore been investigated for

the purification of the dextransucrase:

- the CUF process, where the cells were removed first using the continuous
New Brunswick LE clarifying centrifuge, and the non-solid impurities
were separated using the Amicon H10P30-20 ultrafiltration cartridge;

. and the MFC process, where the non-solid impurities were removed first
using the ENKA LM2NOG6 cross-flow microfiltration cartridge, and the cells
were then separated using the continuous New Brunswick LE clarifying
centrifuge. _
Both techniques provide satisfactory separation efficiency and involve similar

capital and operating costs. In the CUF process the activity losses were very high due to.

the centrifugal pump used and due to the initial cell removal, and the ultrafiltration
cartn:dge was particularly prone to fc;uling. In the MFC process, although some of the
enzyme is lost in the permeate, the enzyme denaturation is lower and therefore it offers

higher enzyme recovery levels than the CUF. The Enka microfiltration module is also a

lot less susceptible to fouling. The purified enzyme is denatured during storage and is

best used soon after purification. Although the enzyme denaturation during
centrifugation is small due to tl'lc low process time, its long term stability is reduced

substantially. This can be contributed to two reasons; the deformation of the enzyme's
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original structure due to the high shear fields and its removal of the outer surface of the
cells. To minimise the activity losses it is therefore proposed to remove the non-solid
impurities first using microfiltration and then store the partially purified enzyme. The
very low centrifuging process time enables the cell removal to be carried out just before
using the enzyme. In view of the above merits the MFC dextran purification process is

therefore recommended.

11.3 Th ing- f Chroma ic Bi mi eactor-Se

11.3.1  Introduction

In the existing industrial process (FISONS Pharmaceuticals, Holmes Chapel),
dextran is formed in a conventional enzyme batch reactor, where sucrose solutions are
innoculated with a Leuconostoc Mesenteroides culture and the dextran synthesis is
carried out without any process control of the dextran chain length. At the end of the
fermentation, ethanol precipitation removes the dextran formed from the reaction
products and an acid hydrolysis brakes the larger dextran molecules down. For a more
efficient and economical operation dextran with a high (over 150000 daltons) and narrow
molecular weight range is preferred as starting material for the hydrolysis. The final
clinical dextran is produced after a series of ethanol precipitation stages which reduces its
molecular weight within the specified limits. Using a chromatographic reactor-separator
sucrose can be converted to dextran and fructose and at the same time the reaction
products can be separated simultaneously. This would minimise the need for additional
separation steps, the acceptor fructose can be removed immediately from the reaction
mixture thus giving more high molecular weight dextran and can be marketed separately,
and it would provide better control of the reaction. This alternative dextran synthesis has
been carried out successfully or; glass 1 cm id by 200cm long and 2 cm id by 175 cm

long batch chromatographic columns (240) where high sucrose convertions have been
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achieved. A characterisation (3) of the dextran produced by the conventional batch
reactor and the above chromatograph reactor-separators (Table 11.5) showed that the .
conversion of high concentration (over 15% w/v) sucrose feedstocks on the
chromatographic reactor-separators gives a lot more high molecular weight dextran (over
156980 daltons) than the conventional batch process due to the simultaneous removal of
fructose from the reaction mixture. These results led us into pursuing this novel process

further and to investigate the effects of scaling up on the extent of sucrose conversion.

-

11.3.2  Equipment Description

The experimental programme was concentrated on the scaling up of batch
chromatographic reactor-separator columns, with special emphasis on the effects of the
materials of construction, packing density, and the nature of the enzyme batches on the
Sucrose conversion.

Dextransucrase was added in the eluent stream (deionised water) at various
strengths since it has not been immobilised successfully yet. A number of alternative
batch chromatographic systems, all packed with the calcium charged KORELA VO7C

resin (Chapter 6) were used. These were:

- the 5.4cm id x 230cm long stainless steel system. This system was used
during the initial part of the ;xpeﬁmenml work and it consisted of three 5.4cm
id x 30cm long stainless steel columns and three of the SCCR7 columns
(5.4cm id x 64.5 cm effective height) directly linked together (bypassing the
valves) to minimise the dead volume. The shorter column also acted as a
guard column. The overall voidage was 0.31.

= An MPL Series II met;:ring pump with a maximum flow rate of 20 cm3 min”1

was used for the eluent delivery and the enzyme was delivered to the column
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Table 11.5: xtran Characterisation Results (3

Reactor Sucrose concentration % dextran over
% wiv 156980 daltons
Conventional batch 2 97.62
Reactor-separator 2 89.04
Conventional batch 15 68.98
Reactor-separator 15 80.7
Conventional batch 20 43.65
Reactor-separator 20 ¥ B
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inlet using a second short stroke Series II metering MPL pump having a
maximum flow rate of 3.8 cm> min™l. The eluent was kept in a 20 1 glass
aspirator and the enzyme in a 5 1 plastic container placed in an ice bath to
minimise the activity losses. The columns were located inside a heated
enclosure and the operating temperature was controlled using an air heater
(Chapter 5). The product streams were collected in a 20 1 glass aspirator
placed in a hot bath (60°C) to quench the enzyme present and stop further
conversion of any unreacted sucrose;

the 5.4cm id x 30cm long stainless steel columns. The first column had a
voidage of 0.41 and the second 0.56 and they were used separately to evaluate
the effect of voidage on conversion. Their mechanical design was similar to
the design of the twelve SCCR7 columns (Chapter 5);

the 5.4cm id x 30cm long glass column, having a voidage of 0.46. Glass
wool was fitted at the column's inlet and outlet to support the packing. The
operating temperature of this column and of the two 30cm long stainless steel
columns was controlled by placing them inside the heating enclosure;

the 5.4cm id x 175cm long jacketed glass column. Glass wool was also used
as packing support and the voidage was 0.38. The column design was similar
to the 1cm id x 175cm long glass columns (240), and the column was packed
to within lcm from the top. The inlet and outlet liquid flow rates were
controlled so that thc. packing was always immersed in water to prevent
drying, and having this open top arrangement any air in the inlet stream was
removed minimising air bubbles from being formed inside the packing.

The smaller batch systems used for the comparison (lcm id x 200cm and 2cm

id x 175cm) were also jacketed and were packed with the LEWATIT TSW 40 calcium

charged resin having a similar size range to the KORELA resin used in this work.
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A general equipment layout (not appiicable to the 5.4cm id x 230 long
stainless steel system), is shown in Figure 11.3. A ten litre glass aspirator was used to
contain the eluent-enzyme mixture and it was kept in an insulated stainless steel tank.
The tank was filled with ice to maintain the temperature below 5°C thus preserving the
enzyme activity. For minimum shear forces and accurate flowrate control a
COLE-PARMER nperistaltic pump (BDH Chemicals Ltd, Atherstone) was used, fitted
with two pump heads controllable between 0.21 and 21 cm> min~l. The pump heads
were fitted with the shear and thermal resistant Masterflex Norprene (BDH Chemicals
Ltd) tubing which operated efficiently for over 600 hours. One of the pump heads was
used to deliver the eluent to the column's inlet and the other at the column's outlet
delivering the product stream to the collection reservoir. This arrangement was chosen
to provide uniform flow through the column. A Churchill (Churchill Instrument Co,
Perivale, Middx) heater-cooler was used to circulate the water in the jacketed outer
section of the column (applicable to the 5.4cm id x 175cm long glass column only).
When the system was not in operation the circulator was switched to the cooler mode

maintaining the column temperature at 2°C thus minimising the denaturation of the

enzyme present in the column.

A fraction of the product stream was pumped, using a TECHNICON
(London) peristaltic pump, through a Jobling Refracto Monitor, to detect the elution of
the reactants, and the results were i:lottcd on a Servoscribe 1S Venture RE (Phase Sep,
Queensferry, Flint), chart recorder. The product stream was collected in a ten litre glass
aspirator which was kept in a water bath inside a stainless steel tank. The bath
temperature was maintained at 60°C to quench the reaction products thus deactivating the
enzyme present and preventing further conversion of any unreacted sucrose.

To obtain the desired operating temperature the circulator was set to the
heating mode and the required temperature was chosen. The eluent and enzyme
delivering tubing was wrapped around the column to heat the solution up to the operating

temperature. A photograph of the equipment is shown in Figure 11.4.
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Key:

1. Chart recorder
2. Eluent + enzyme tank and ice bath
3. product collector and quenching unit
4. Refractive index detector
5. Pump
6. Heater/cooler circulator
7. Chromatographic reactor-separator column
(glass 5.4cm id x 175cm long)
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11.3.3 xperi hni

After packing each column a voidage determination was carried out following
the procedure described in Chapter 6. In the 230 x 5.4cm id stainless steel system the
desired eluent-enzyme composition was achieved by adjusting the stroke lengths of the
corresponding metering pumps. For the other systems the required enzyme content of
the eluent was obtained by adding the required enzyme volume in the eluent storage tank.
This was performed at the beginning of each run and usually after carrying out an
enzyme activity test.

Although the dextransurcase cannot be immobilised yet, it has been
established (240) that after prolong enzyme passage through the packed column some
enzyme is adsorbed on the resin. This "partial” immobilisation is believed to be possibly
due to the physical entrapment of the relatively large enzyme agglomerates and their
adsorption on the packing. An activity analysis of the resin obtained at the top, middle
and bottom parts of the column showed that there was an activity gradient along the
column indicating that more enzyme was adsorbed towards the column inlet.

Before passing any enzyme through the column, dextran, surcose and
fructose charges were introduced at various eluent flow rates to obtain their relative
retention times. To maintain a similar basis with the experiments on the 1cm id and 2cm
id systems (240) an eluent flow rate was chosen which gave a sucrose retention time of
approximately 4 hours. Then, the ne\;'ly packed column was charged for approximately
40 hours by passing through only the diluted enzyme-eluent mixture. When the column
was not used for a short period (ie. weekends), it was recharged for 3 to 5 hours.
Before each run the required enzyme-eluent flow rate was chosen, and was pumped
through the column for 1 hour, and the column heating procedure was switched on (ie.
~ heated enclosure or heater circullator). ‘When the operating temperature of 25°C (3) was

reached the enzyme-eluent delivery was stopped and the required volume of the sucrose
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feed charge was introduced containing enzyme at a similar concentration ¢o that used in
the eluent stream. When the feed slug was completely immersed inside the packing the
enzyme-eluent delivery was switched on again. During these switch overs extra care was
taken to ensure that the packing was always covered by liquid. During operation the pH
was checked frequently and since it was between 5 and 5.4 it needed no adjustment.
During operation the once through injection approach was followed, ie. only
one feed charge was injected per run. At the end of the operation the volume collected
was measured accurately, and by using the operation time, the exact eluent flow rate was
determined. Because of the low product concentrations a sample of the products was
concentrated S to 10 times by boiling and its composition was obtained using the HPLC
analytical system. Using the HPLC results and the total product volume a mass balance
gave the total fructose formed and the total unreacted sucrose. Knowing the total
sucrose in the feed charge and also the total expected fructose for 100% conversion, the
actual extent of sucrose conversion was obtained. A complete sucrose conversion

theoretically gives 52.6% fructose (154), therefore for a 210cm3 feed charge containing

2% wiv sucrose:

Total sucrose in feed = 4.2g

Fructose expected for 100% conversion = 4.2 x 0.526 = 2.21g

. . 4.2 - sucrose in product
% conversion based on surcrose disappearance = x 100

4.2

. fructose in product
% conversion based on fructose formation = x 100

221

The dextran results were not used in the calculations because the dextran
associated with the enzyme and the presence of other protein impurities were interferring

with the dextran peak. The feed charge volume was expressed as a percentage of the
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total empty column volume and for comparison purposes (240) it was chosen to be
around 4%. Each experimental run was defined with a set of four figures - for example,
the set of 2-210-5-12 corresponds to sucrose content (% w/v), feed charge (cm3),

enzyme activity in eluent stream (DSU.cm'?’), and eluent flow rate (cm3 min‘l).

11.3.4  Experimental Results and Discussion

During the investigtion of the scaling up of the batch reactor-separators special
emphasis was given to the system's reproducibility. Over sixty experimental runs have
been carried out and a selection of the results of the more representative runs are listed in
Tables 11.6 to 11.8, and used for the comparison. Most of the conversion results are
expressed by tracing both the unreacted sucrose and the fructose formed. Both sets of
values should be identical; analytical inaccuracies however, due to the presence of some
impurities, resulted in some disagreement. Runs 1 to 10 were carried out within three
months from the time the 5.4cm id x 230cm system was charged, using the purified
FISONS enzyme ba:nch. The eluent flow rate was about 12 ¢m3 min~! (corresponding to
a 4 hour sucrose retention), and had an enzyme concentration of 5 DSU em3. A
210cm? feed charge was used, ie. 4% of the total empty system volume, having a 2%
w/v sucrose concentration, ie. a total of 4.2g of sucrose. For the first four runs the
conversion was obtained using the fructose formed and was on average 77.5%. In the
following four runs the conversion was approximately 61% and was based on the
unreacted sucrose. During the three months of continuous operation a progressive
increase in the operating pressure was observed. In runs 7 and 8 the eluent flow rate
was reduced to 9.8 and 8.6 cm> min™] respectively'to ma.mtam the sucrose retention at
around 4 hours. Theoretically, a reduction in the carrier flow rate should have increased
the retention time. Because of its relatively large size the enzyme was expected to travel

with the dextran through the void volume and be eluted completely. However, this
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Table 11 xtent of Conversion usin A4cm id x 230cm long Stainl teel
Reactor Separator
Run No Experimental Enzyme % conversion
Code No used
Based on sucrose Based on fructose
disappearance formation

1 2-210-5-12 FISONS - 73
2 2-210-5-12 FISONS - 77

3 2-210-5-12 FISONS - 83
4 2-210-5-12 FISONS - 79

5 2-210-5-12.6 FISONS 60 ;

6 2-210-5-12.3 FISONS 62 -

7 2-210-5-9.8 FISONS 64.3 -

8 2-210-5-8.6 FISONS 579 — -

9 2-210-5-12 FISONS - 79

10 2-843-5-12 FISONS - 47

11 2-210-10-11.9 FISONS 96.8 89

12 2-210-5-12 FISONS 87.6 68

13 2-210-2-12.7 FISONS 73 45

14 2-210-5-12.0 FISONS 87.6 68

15 2-210-5-12.6 FISONS 70 68

16 2-210-5-11.4 FISONS 71 69

17 2-210-5-9.2 FISONS 99 62

18 8-210-5-9.2 FISONS 52 21

19 20-210-5-8.3 FISONS 32 114
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progressive increase in pressure drop and reduction in sucrose retention indicated that the
enzyme was agglomerating and was gradually trapped on the resin blocking some of its
pores. Usually, the relatively smaller sucrose molecules diffuse in and out of the resin
pores and are retarded. Since however, some of these pores are gradually blocked by
the enzyme agglomerates the sucrose molecules are retained less and travel faster through
the column.

Zafar (240) in his experimental work reduced the enzyme concentration in the
eluent stream to minimise the enzyme usage and claimed that a concentration within 0.8
and 1.6 DSU cm™> was sufficient. A comparison of the above results with the ones
obtained on the lcm id x 200cm (run 2-6-1.2-0.21, Table 11.7) and 2cm id x 175cm
(run 2-20-0.8-1-38) systems, operating at similar conditions, and bearing in mind the
different resins used, shows similar conversion percentages (based on fructose)
indicating that a scaling up of 1 to 4 to 29 times (based on cross-sectional area) has no
significant effect on the extent of reaction. These 1 and 2cm id columns were packed
with LEWATIT resin, but it is expected to behave similarly since it is of similar size
range and in the calcium form. Although these results are very encouraging, in the 1cm
id x 2cm id systems the enzyme concentration was over 5 times lower; the effect of the
enzyme concentration on conversion will be considered later on. Runs 9 and 10, carried
out on consecutive days, were performed to investigate the effect of increased feed
charge size. When the feed volume was increased from 210cm3 (4% empty column
volume and a total of 4.2g of sucrose) to 843cm3 (16% empty column volume and a
total of 16.86g of sucrose), the conversion dropped from 79 to 47%. This reduction
was in agreement with the results obtained by Matsen in his gas chromatography studies
(186). An increase in feed charge from 4% (run 2:6-1.2-0.21, Table 11.7) to 10.7 (run
2-16-1.2-0.21) on the lcm id x 200cm system reduced the conversion from 71.5 to
39.5% (based on fructose). The first impression of these results is that the large scale

system (5.4cm id) is more efficient than the smaller 1cm id at high feed charge volumes.
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h . X

able 11.7: 1 in cm i C ng id x lon
- tors (240). for a Four Hour Sucrose Retention. The FISONS
Enzyme was used and the Columns were packed with the Calcium Charged LEWATIT
Resin
Rig Experimental Feed charge % conversion
Code Number as % empty Based on Sucrose Based on fructose
column volume disappearance formation
lemid x 200cm  2-6-1.2-0.21 & 94.8 71.5
lemid x 200cm  2-16-1.2-0.21 10.7 45.2 39.5
lemid x 200cm  2-6-0.6-0.22 4 60.9 42.7
2cmidx 175cm 2-20-0.8-1.38 3 ' 79.3
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This however is arguable and is probably due to the very low enzyme strengths in the

eluent stream of the lcm id unit. In fact a comparison of runs 2-6-1.2-0.21 and

2-6-0.6-0.22 (Table 11.7) shows that a reduction in the eluent enzyme concentration
from 1.2 to 0.6 DSU cm™3 reduces the conversion by almost 40%.

Runs 11 to 19 were carried out after repacking the first (5.4cm id x 30cm
long) column of the 5.4cm id x 230cm system, and recharging it. The first three runs
(11 to 13) were carried out consequently at decreasing eluent enzyme concentrations,
(10, 5 and 2 BSU cm™3 respectively). This decrease in eluent enzyme concentration
reduced the conversion from 96.8 to 87.6 to 73% (based on sucrose) or 89 to 68 to 45%
(based on fructose) proving that the enzyme content of the eluent is important and an
optimisation should determine its exact value. In this experimental programme it was
chosen to be 5 DSU cm™3. The following three runs (14, 15, 16) were carried out
within three weeks during which time the system was used continuously. The results
showed that over 70% conversions can be achieved, and also exhibited similar pressure
increases and variations in the sucrose retention times to those of the earlier runs. This
supported the claim made above, ie. increasing resin pore blockaging due to the
progressive adsorption of enzyme. The fact that the equipment's performance was
reproduced after repacking the first small column indicates that the early part of the
packed bed acts as a depth filter for the cnzym;&: agglomerates and any cells present. Itis
therefore recommended to use SUC}'I a "guard column" arrangement in all reactor
separators to maintain a stable operation. Finally, in the last three runs (17 to 19), the
same feed volumes were injected but at increasing concentrations, ie. 2%, 8% and 20%
respectively. This led to reductions in conversion from 62% to 21% to 11.4% (based on
fructose formation) respectively. By keeping the charg:e volume constant (210cm3) and
increasing its concentration, the sucrose population per unit column volume is increased,
therefore there are more sucros;z molecules available competing for the same enzyme

active sites, hence the chances for them to be reacted are reduced.
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This can be verified by comparing the results of runs 10 and 18, in which the
total amount of sucrose injected was the same, ie. 16.8g. Because of the broader
feedband in run 10 (843cm3) there were four times more énzyfnc sites available to
catalyse the same sucrose molecules thus doubling the conversion, ie. from 21% for run
18 to 47% for run 10 (based on the fructose formed). Although larger feedbands of low
concentration give higher conversions they have an adverse effect on the dextran yield.
The reactor-separator results of Table 11.5 (3, 240) were obtained using feed charges of
increased concentration and reduced volumes so that the total amount of sucrose injected
was constant. _

At low feed concentrations and high feed volumes the fructose formed in the
front part of the feedband is interferring with the reaction mixture in the back end of the
band terminating the dextran synthesis. This is supported by the results (Table 11.5) at
2% wiv which produced even less high molecular weight dextran than the corresponding
batch process. As the feed concentrations increase and the feed band is reduced this
interference is also reduced giving more high molecular weight dextran. Therefore, for
the best product yield, small feed volumes of high concentrations should be used, and a
repetitive injection technique can be employed provided that the extent of overlapping is
carefully controlled. This would also result in higher throughputs and increased product
concentrations. In addition to the above the feedband spreading along the system should
be kept to a2 minimum. ‘

To investigate the effect of materials of construction and voidage on the
conversion the 5.4cm id x 30cm glass and two stainless steel colums were used. All
columns were charged for approximately 15 hours using the same FISONS enzyme
batch. The eluent flow rate was also chosen to give a_4 hour sucrose retention, and 4%
(empty column volume) feed charges were used. The results are shown in Table 11.8.
Because of the short charging period sufficient enzyme had not been adsorbed on the

resin, resulting in lower than expected conversions. Since however, all columns were
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] . Eff f i ' Voi versi

NS en W,
Experimental Rig Voidage % conversion based
Code Number on sucrose
disappearance
2-28-5-1.95 5.4cm id x 30cm long 0.46 42
Glass :
2-26-5-2.3 5.4cm id x 30cm long 0.56 46
Stainless steel
2-26-5-2.4 5.4cm id x 30cm long 0.41 35
Stainless steel
Table 11.9: Reaction- ion Resul in he S.4cm id x 175cm Gla:
]
% Conversion
Experimental Enzyme Based on Sucrose Based on Fructose
Code Number disappearance Formation
2-80-5-8.6 STURGE 69 74
2-80-5-8.6 STURGE 70 67
2-400-5-7.8 STURGE 21 . 22
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charged for the same time length using identical enzyme batches and concentrations, the
relative conversion changes are used for the comparison. The results obtained on the
two stainless steel columns show that the less dense packed (higher voidage) column
gave substantially higher conversions (46% instead of 35%). At increased void volumes
more enzyme is available in the column and better mixing of the sucrose molecules takes
place. In chromatographic separations however the increased voidages have an adverse
effect on the degree of separation, therefore a compromise has to be made between the
separation efficiency and the extent of conversion of the chromatographic
reactor-separator.

Robyt and Walseth (169) have reported that ccrtaii'z metal ions such as zinc,
cadmium, lead, copper etc are inhibitory during enzyme production to various degrees.
Stainless steel is an iron-nickel-chromium alloy that can oxidize to form soluble metal
ions under aqueous conditions, and it was suspected that some of these soluble ions
might poison the enzyme and inhibit the sucrose conversion. The results obtained on the
glass column however were still not very clear. The conversion obtained (42%) was
better than the one obtained on the low voidage stainless steel (35%), but lower than the
one of the high voidage stainless steel (46%): Since the voidage of the glass column
was between the voidages of the two stainless steel columns, this difference in the
percentage conversioxll is probably due to the different void volumes and not due to the
different materials.

In all the above systems tilc operation temperature was maintained using the
heated enclosure, and none of the systems were fitted with a device to cool them down
(below 5°C) during shut-off, thus preserving the activity of the adsorbed enzyme. To
investigate further the effect of materials of construction and enable visual observation
the glass 5.4cm id x 175cm column was used. The column was jacketed and the
heater-cooler circulator mainfaincd the water in the outer annulus at 25°C during

operation and at 2°C when not in use. The operating conditions were similar to the ones
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used in the other systems, ie. 4 hour sucrose retention, 5 DSU cm™3 eluent enzyme
concentration. In these experiments the STURGE enzyme was used and the feed charge
was 2% empty column volume. The conversions obtained were almost identical to the
ones on the 5.4cm id x 230cm stainless steel system (about 70%), using similar
operating conditions. This showed that the different materials of construction did not
have any significant effect on the conversion, bearing in mind the different enzyme
batches used and system voidages. A five times increase in the feed charge (to 20%
empty column volume) reduced the conversion down to 22%. The careful temperature
control and the overnight cooling did not appear to have any positive effect on
conversion, possibly due to the less stable STURGE enzyme. The system also exhibited
pressure increases and retention time fluctuations, and there was a bacterial growth in
the open column inlet. Since the use of sodium azide as a bacteriostat or high
temperatures would denaturate the enzyme on the column, special care must be exercised

to maintain sterile conditions.
11.3.5 lusion

The experimental results have shown that the fermentation broth can be
purified successfully to give cell free and over 90% pure dextransucrase, using
continuous centrifugation and cross-flow microfiltration. The enzyme stability is
reduced after removing the cells. "To minimise these activity losses it is therefore
proposed to purify the enzyme first from the non-solid impurities using cross-flow
microfiltration and remove the cells immediately before usage using continuous
centrifugation at 30000g. i

The reactor-separator can be used efficiently for approximately two months
before becoming less efficient ciue to the fouling of the resin. It is recommended to use &

short column of the same id and packed with the same material as a guard column, which

should be accessible and easy to dismantle. After approximately two months, or as soon
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as a drop in conversion efficiency is observed, the guard column should be replaced and
the system should be backflashed and recharged.

The reaction separation results have shown that the batch chromatographic
reactor-separators can be scaled-up successfully without any significant reduction in
conversion. For a four hour sucrose retention over 80% conversions were obtained, and
the usage of stainless steel did not appear to have any significant effect. It is esential
however to maintain sterile conditions and empley good mmageﬁcnt practice. The
relatively low conversions (70 to 80%) could be improved further by using longer
retention ﬁnes. It has been reported (243) that a three times increase in eluent flow rate
resulted in activity losses of 20%, 13% and 5% at the top, middle and bottom parts of a
reactor-separator column respectively. Therefore by prolonging the sucrose retention
time, the eluent flow rate would be reduced, thus preserving the activity of the adsorbed

enzyme. This would reduce the enzyme usage and increase the overall conversion.
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:APTER 12

12.0 N MMEND N
12.1 CONCILUSIONS

The aims of this work have been to optimise the separation performance of the
production scale semi-continuous chromatographic refiner (SCCR7), by identifying and
quantifying the effects of various operating parameters, and to investigate the application
of chromatographic systems as biochemical reactor-separators. The overall findings and

conclusions can be summarised and classified as follows:

12.1.1 Separation work using the SCCR7

1 The switch time was found to have a major effect on the separation performance
of the SCCR7 system, and was the controlling parameter during the operation. Small
switch time changes "shifted" the relative positions of the concentration profiles and
were enough to determine whether the final products were going to be within the
specified purities or not. The system was found to be very sensitive to switch time
changes as small as 10 seconds. It has been suggested by previous workers that at
certain difficult operating conditions the respective product purities would be improved
by altering the feed point location so that extra system length would be available for the
separation. This is no longer required since the same effect can be achieved by making

the appropriate alteration in the switch time.

2 During operation "pseudo-equilibrium" was achieved approximately 6 cycles
after starting from a completely purged system. If however, one or more of the
operating conditions are changed during operation, the new "pseudo-equilibrium" will be

reached after a further 3 to 4 cycles, providing the system has not been purged.
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3 By increasing the feed concentration the throughput is also increased but at the
expense of the separation efficiency. At about 19% w/v feed concentration 99.9%
purities are obtained, and as the feed concentration increases to 66% w/v the product
purities are still within specification but are reduced to just over 90% (FRP at 66% w/v
feed concentration). At approximately 45% w/v the system becomes overloaded and the
rate with which the switch time increases with concentration is reduced. General
switch-time concentration relationships have been developed to predict the correct switch

time at the particular operating conditions.

4 The reduced fructose content in the feed has an adverse effect on the separation,
ie. becomes more difficult. This was counteracted by increasing the operating switch
time. Feedstocks with feed fructose contents as low as 36.8% have been separated

efficiently to give products within specification.

5 As a rule of thumb a satisfactory separation can be expected when the
“cross-over" point is situated in or very near column 6, the column before the feed inlet

column on the FRP side. .

6 By reducing the eluent to feed flow rates ratio the product concentration
increase. The minimum ratio, at which the product purities were still within
specification, was found to be 2.74 tof 1; a further reduction however would affect the
separation and thus the product purities. To overcome the increased difficulty due to the
reduced eluent to feed flow rate ratios the switch time needs to be increased. When a
66% wiv feed concentration was used, a 9.5% decrease in the above ratio (from 3:1 to

2.74:1) required a 13% increase in switch time (from 22.15 to 25 minutes).

7 To increase the economical viability of the chromatographic equipments in

general the throughputs and product concentrations need to be increased. When a 66%
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w/v feed concentration was introduced into the SCCR7 at 14.6 cm3 min“!, and a 40 cm?

min-! eluent flow rate was used, a throughput of 0.578 kg sugar solids per hour, or 32.1
kg sugar solids/m3 resin/hr was achieved and the product purities' were still within
specification, (ie. 90.1% pure FRP and a GRP containing only 6.4% fructose). To
increase the product concentrations, the purge flow rate was reduced and the product
splitting technique was employed. Only the "concentrated” splits were collected and the
dilute splits were discarded. To obtain complete purging the minimum purge flow rate
must be 60 cm3 min"! (or 1.5 times the elucnt flow rate). When a 70 cm? min-! purge

rate was used and the product splitting technique was employed the product
concentration increased from 5.8 to 11.3% w/v for the FRP, and from 11.6 to 22.56%
w/v for the GRP. Only 2% of the glucose and 2.8% of the fructose in the feed was lost
in the dilute GRP and FRP splits respectively. The product purities were also increased,
ie. the FRP purity increased from 90.1 to over 95% and the fructose content of GRP
reduced from about 6.7 to 4.5%. Over 94% of the glucose in the feed was recovered in
the GRP, and 95.78% of the fructose in the feed was recovered in the FRP.

8 By -rcducmg the purge rate to 60cm3 min"! and recycling the dilute product splits

as eluent and purge water, the FRP concentration increased to almost 13% w/v and the

GRP to 25.4% w/v, recovering over 84 and 87.8% of the glucose and fructose in the

feed respectively. The product purities were still within specification, ie. 6.69% fructose
in GRP and 90.2% pure FRP. “

9 By operating at higher temperatures (60°C) the pressure drop is reduced and the

microbial growth is suppressed, but at these temperatures the amount of the

B-D-fructopyranose, the fructose form that forms the complex with the calcium ions of
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the resin and also the sweetest form, is reduced and therefore the separation efficiency is
also slightly affected. This effect is indirectly incorporated in the K4 vs temperature

general relationship.

10 Temperature, flow rates and background concentration were found to affect the
distribution coefficients. General relationships were obtained, relating their effects on
the distribution coefficients for any chromatographic system used in the separation of
carbohydrate mixtures.

12.1.3 A theoretical link between batch and continuous systems, and the computer
simulation of the SCCR7

11 . A theoretical link between batch and semicontinuous chromatographic systems
has been developed which provided a new and simpler system length estimation
procedure requiring the minimum of experimental data. These data can be easily
obtained on a batch column operating at infinite di'ution conditions or preferably at the
actual operating conditions.

12 . The computer simulation of the semi-continuous operation has been carried out
successfully. The "plate" model approach was employed and the general relationships
correlating the effects of temperature, flow rates and background concentration on the
distribution coefficients were incorporated. The simulated concentration profiles
corresponded to the actual purging concentration profiles, thus giving a more accurate
representation since the average sugar solids concentrations in each column were
predicted. The simulated profiles showed a very good agrccmént with the experimental
values. The model was capable of predicting the profiles at different flow rates, feed
compositions and concentrations, and giving an estimation of the correct switch time for
the particular operating conditions. By carrying out a number of modificat.ions in the

structure of the computing program a reduction of over 15% in the required CPU time
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was achieved. The simulation program also carried out a design procedure, predicting
the required system length, "true" number of theoretical plates and HETP values, to

obtain a given separation at the particular experimental operating conditions.

12.1.4 Biochemical reaction-separation work

The successful operation of the SCCR7 as a continuous separator led us into
investigating ways that would enable its application as a reactor-separator. Before
making any recommendations and indeed using the SCCR7 in the reaction-separation
mode it was decided to investigate the scaling up of batch chromatographic
reactor-separators and to identify the factors that affect their scaling up. Because of
specific industrial interest and the very valuable products, the enzymatic conversion of
sucrose into dextran and fructose in the presence of the dextransucrase enzyme was
chosen. It has been found in this department that the dextran yield is improved by
separating the acceptor fructose from the reaction mixture immediately as it is formed.
The increased scale of operation required relatively high enzyme volumes that needed

purification before using the enzyme.

12.1.4.1 Dextransucrase purification

13 Two different approaches were followed for the purification of the crude
dextransucrase enzyme. First a continuous centrifuge was used, operating at 30000g
and a throughput of 5000 cm3 hr'}, to remove over 90% of the cells present. The
activity losses during the operation were 3%. )

Then an Amicon H10P30-20 ultrafiltration membrane with a 30000 "cut-off"

was used to remove the non-solid impurities. On average over 95% of the impurities

were removed but the activity losses approached 50%. The enzyme was denaturated
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rapidly when large shear forces were present and at moderately Iﬁgh Itcmpcratures (over
6YC);

Using the above purification sequence, ie. centrifugation and ultrafiltration the
activity losses during processing were around 50% and the enzyme became more
unstable. For every 24 hours, over 20% of activity was lost even when it was stored in
a refrigerator (4-6°C). This was believed to be due to the removal of cells and the

protective dextran from the enzyme mixture.

14 In the second approach a cross-flow microfiltration cartridge was used first to
remove the non-solid impurities from the crude enzyme mixture. Both the enzymes and
the cells were retained in the retentate. During processing there was only a 4.4% activity

loss, and the enzyme was found to be more stable during storage.

15 When the microfiltered mixture was centrifuged the enzyme stability reduced
and for every 24 hours of storage m a refrigerator (4-6°C) about 20% of the activity was
lost. By removing the cells the enzyme environment changes. Therefore, to minimise
the activity losses, it is recommended that the non-solid impurities are removed first by
cross-flow microfiltration and then the enzyme is either stored or is centrifuged to
remove the cells and used immediately. For minimum activity losses it is essential that

the cells are removed by continuous centrifugation immediately before using the enzyme.

16 During both ultrafiltration and cross-flow microfiltration the permeate flux was

reduced and a "gel" layer was formed altering the characteristics of the membranes.

12.1.4.2 Chromatographic reaction-separation studies

17 During the reaction-separation work on batch chromatographic sytems some

"immobilisation” was achieved probably due to the physical entrapment of the enzyme
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molecules and agglomerates on the packing. The continuous usage however of enzyme

in the eluent stream was found necessary.

18 The use of a stainless-steel column instead of glass column did not have any

affect on the sucrose conversion to dextran and fructose.

19 The voidage did have an affect on the conversion, with higher voidages giving
better conversions. However, as the void volume increases the separation efficiency

decreases and a compromise is necessary.

20 The scaling up of batch chromatographic reactor-separators, from 1 to 2 to 5.4
cm id columns showed that at comparable conditions (4 hr sucrose retention time) similar
conversions were obtained, ie. between 70 and 80% (based on fructose formed). To
obtain higher conversions and better product yield (more high molecular weight dextran)
it is believed that longer sucrose residence times should be used. When operating at
maximum throughput, it is preferable to employ repetitive injection techniques and to use
small sucrose feed charges (about 2% empty column volume) at high concentrations

(20% wiv).
12.1.5 Qverall commen

The semicontinuous chrorﬁatographic refiner has been shown capable of
handling industrial feedstocks and producing HFCS and a glucose rich product meeting
the strictest industrial specifications, without any recycling. It provided excellent
reproducibility, allowed continuous unattended operafion and showed great scaling up
potential.

The rcactor—scparation- results looked promising and it is anticipated that the
SCCR equipments could be used successfully as continuous biochemical

reactor-separators. Unfortunately lack of time did not permit this study to be
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performed as it was initially intended.

12.2 MMENDATION

The inherent advantages, the separation capabilities of the SCCR systems and
their potential as reactor-separators provide the basis for a very attractive commercial

proposition. From the work caried out in this research the following suggestions are

recommended:

1 Carry out more separation experiments, operating at intermediate conditions to
the ones used in this work to provide more data and improve the accuracy of the

relationships derived to predict the effect of the various operating conditions on the

switch time.

2 Carry out a set of experiments where only the very concentrated part of the FRP
is collected and the rest, containing increasing amounts of fructose, is recycled in the
eluent stream. Employing this technique the fructose content in the column, which is to
be purged next, would be increased "artificially", and the FRP concentration would also
be increased. A similar approach can be followed for the GRP, but to a lesser extent,

and the "dilute" split can be used to dilute the feed.

3 Obtain a new theoretical approach that would characterise the system's
separation potential in the continuous operation, instead of the traditional approach that

employs individual column characterisation on a batchwise basis.
4 If the SCCR system is to be used for the desugarisation of molasses or other

feedstocks, where ions are present that displace the calcium ions on the resin, continuous

resin regeneration is advantageous. This can be achieved by isolating a second colummn
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in the same way as with the purge column (Figure 12.1a). This second column
preferably should be the column just purged. The regeneration flow is recommended to
be in the opposite direction to the mobile phase flow so that some back flashing occurs.
The column can be regenerated for the whole or part of the switch time. This
modification will also increase the versatility of the equipment by allowing three separate
products to be collected. For example, when a feedstock contains a component or
components that are eluted with the mobile phase (GRP), a retarded component (FRP)
and a totally adsorbed component (RO), the first two components will be separated in the
usual fashion and the last by "purging" with an alternative solvent or using one with a
different pH.

The above modification would require one inlet and one outlet port and extra
corresponding valves per column, an additional inlet and outlet liquid network, and a

simple reprogramming of the pneumatic controller.

5 Another alternative is illustrated in Figure 12.1(b) and can be employed on its
own or in addition to the above. By using one inlet and one outlet port and two extra
valves per column, an additional inlet and outlet liquid network, and one extra column
connected to the new networks (preferably identical to the other columns), any column in
the system could be isolated and by-passed. This would enable the isolated column to be
regenerated or to be repacked without stopping the operation. Alternatively, this extra
column can be used as a reactor. For e.xamplc, the glucose in the post feed section can be
isomerised continuously to fructose by redirecting the mobile phase, at any desired
position, through the reactor. _

The above modifications should enhance the ;fersaﬁlity of the SCCR systems
and increase their flexibility. These suggestions can be achieved either by
reprogramming the existing pr;eumatic controllers or preferably by interfacing the
equipment to a computer, which would allow automatic reprogramming while in

operation.
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6 In fact, it is recommended to use on line monitoring (concentration, flow rates,
temperature etc) interfaced with a computer which would be programmed, using the

correlations mentioned above, to make the required changes automatically.

7 In the reaction-separation work, it is recommended that different ultrafiltration
and/or microfiltration units are tested from other manufacturers to establish the ones that
provide equally good or better separation efficiencies, at a reduced process time and

which would allow sterilisation (ie. ceramic units).

8 Examine the effect of repetitive injections on the sucrose conversion and dextran

yield using the batch chromatographic reactor-separator.

9 And, carry out the sucrose conversion to dextran and fructose on the SCCR
unit. Figure 12.2 illustrates the expected concentration profiles. The prime objective
should be to establish the correct operating conditions that permit immediate separation
of the fructose from the reaction mixture thus minimising the acceptor reactions and
improving the dextran yield. At the same time the relevant publications should be
reviewed to establish if and how the successful immobilisation of the dextransucrase
enzyme has been achieved. The SCCR system can also be used as a reactor separator to

study the sucrose inversion to glucose and fructose and their separation.

10 Finally, carry out a feasibility study and an economic evaluation to estimate the
system's (SCCR) competitiveness as a separator and/or as a reactor separator in current

and future industrial applications.
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Figure 12.1: Proposed alternative operating technigues

(a) Double purging Feed

Stationary
phase
movement

Key:

RI: Regeneration
medium in

RO: Regeneration
medium out

GRP

RI RO
(b) Column bypassing Feed
“ B
Stationary pkr\e
movement
. Stand-by
column
. -
Carrier
stream
bypass .
eluent Gesa GRP
FRD burg

324



Figure 12.2: Diagramatic representation of the operation of the
SCCR system as a continuous reactor-separator
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D WIDTH EV ATION

The modified Glueckauf equation (2.17) was rearranged as follows:

N* P 7p2 0.0765 P3
Bl = [1 4+ — o+ + ] ........ Al
N 3 45 1-0.565P

Where P: a systems loading related parameter given by:

No N* :
P={—}— A2
N 4

N* = "apparent" number of theoretical plates obtained by equation 2.11 for the whole
system

N, = "apparent"~number of theoretical plates occupied by the feed band.

The solution to this equation is the N value for which the B1 is equal to 1, and

it was solved by trial and error using a simple interactive FORTRAN 77 program for a

wide range of N, values.

The calculation‘proccdure was generalised to make it applicable to any system
and has been included in the computing simulation program (Chapter 10) to give the

required true number of theoretical plates for the particular conditions.

Calculation of N,

The value of No represents the number of "apparent” theoretical plates
occupied by the feed band and its approximate value was found as follows:

For a batch system:

Feed volume
Ny = xN* e A3

Total empty system volume
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For a semicontinuous system the calculation was carried out over a cycle by

visualising the whole system as a "static" column, ie:

Feed flow rate x Switch time x No of columns
No = x N¥ s A4

Total empty system volume

These N, values are the minimum ones since they do not account for any

additional longitudinal diffusion during the feed loading. The validity of this
assumption was tested by injecting blue Dextran into a packed glass column and
measuring the relative lengths. The resulted error was relatively low (+ 5%).

A plot of the true number of theoretical plates (NTP), and system loading

related parameter (P), against the number of theoretical plates occupied by the feed
band (N,,), for the SCCR6 system, is shown in Figure Al. The NTP vs N, profile is

approximated to two straight lines as follows:

- For No less than 40:

NIP=2290+27xNy e A5
- And for No values equal or greater than 40:

NTP = 113.3+5.48xN0 ........ A6
" Num ical Pl t Actual Condition

For a 20% w/v feed concentration (Table 9.3):

15000
Ny = ——— x 250 = 64 plates

10 x 5889
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Therefore, from relationship A6:
NTP = 464 plates

Batch SCCR7
For an 18.6% w/v feed concentration (Table 9.3):

3750
Ny = —— x 384 = 80 plates,

12 x 1500

Therefore, from relationship 6.10,

NTP = 710 plates

SCCR6 Semi-continuous Mode
Using the operating conditions of run 20-35-105-30-20 (Table 9.1), then:

35x30x 10
N, = x 250 = 45 plates

0=
10x 5889 -

and from relationship A6:

NTP = 360 plates

Using the operating conditions of run 18.6-9-30-30-20 (Table 9.1), then:

9x30x12

N x 384 = 69 plates

Q=
12 x 1500

and for relationship 6.10:
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NTP = 632 plates
And at the maximum throughput, run 66-14.6-40-25-60 (Table 9.1)

146x25x12
N, = x 384 = 93 plates

(¢
12 x 1500

Therefore, from relationship 6.10:

NTP = 803 plates.
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Figure Al: Plot of number of theoretical plates (NTP)
and system loading related parameter (P), against the
number of theoretical plates occupied by the feed band (No)
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APPENDIXN B

rd
DETERMINATION
ke
D=termination of k'g for 10 column x 2.54cm id SCCR4 Unit

The operating conditions and results of run 02-2.4-6.1-29 (203) were used

since this run approached the "infinite dilution" conditions, ie:

Xg = 0.098, Z = 638/2 = 316cm, Kwdg = 0.23, and switch time = 30 min
Also, :
Vg Average mobile phase flow rate
Ump = =
XSA Cross sectional area
(6.1 + 8.5)/2
= = 1.44cm min-!
n (2.54)%/4
Vp Average volume of packing per column/switch time
up = = )
XSA Cross sectional area
320/30
= = 2.11cm min-]
™ (2.54)%/4
Therefore,
316.1{.% 1.44

In (0.098) = —— [ 0.23 -
1.44 21

Therefore: k:g; =0.023
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ictl T ngth of th lumn 4cm i ni

Using similar operating conditions to the 2.54cm id x SCCR4 unit, the same

switch time of 30 min and the following data:

Feed flow rate = 9 cm3 min’!
Eluent flow rate = 30 cm> min!

and K®dg =0.215  (run 18.6-9-30-30-20)

And designing for 99.9% pure FRP (ie. Xg = 0.001) then,

(30 + 39)2
Uy = = 1.51cm min’!
n (5.4)%/4
1037/30
Up= —— = 1.51cm min™!
n(5.4)%/4
Hence,
0.023.Z 1.51
In (0.001) = ——————|0.215-
1.51 1.51

Therefore, Z = 577cm

With a central feed location on a continuous unit, the overall theoretical

SCCRY7 system length is 1154cm.
icti Tot ngth of the 1 10.8cm i nit

Using a 30 min switch time as in the 2.54 id SCCR4 unit, similar operating

conditions, ie.
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Feed flow rate = 35cm> min~!

Eluent flow rate = 105¢m3 min-!
and Kmdg =0.168

and designing for 99.9% pure FRP, then

(105 + 140)2

Uy = = 1.34cm min’!
n (10.8)%/4
3940/30
gy i = 1.43cm min-!
m (10.8)%/4
Therefore,
0.023.Z 1.34
In (0.001) = —— | 0.168 -
1.34 1.43

Therefore Z = 523cm

With a central feed location the overall theoretical length for the SCCR6 is

1046¢cm.,
1 i 1 Experimental

In the theoretical estimation of the continuous length it was assumed that the

k'g value remains constant irrespective of flow rate, temperature and concentration

changes.
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Using the conditions of run 20-35-105-30-20 (Table 9.1) and the modified

glucose distribution coefficient to account for the actual flow rates and concentrations

(Kdg = 0.267), then:

(105 + 140)2
Upy = = 1.34cm min-1

m (10.8)%/4

3940/30
= 1.43cm min’!

[]_p =
m (10.8)%/4

And for a 99.9% pure FRP:

0.023.Z 1.34
In (0.001) = 0.267 -
1.34 1.43

Therefore, Z = 600.5cm or a total SCCR6 length of 1201cm.

SCCR7 Systems

Using the conditions of run 18.6-9-30-30-20 (Table 9.1) and the modified

glucose distribution coefficient, Kgqg = 0.353, then:

(30 +39)/2 , i

Uy = = 1.51cm min”

n (5.4)%/4

1037/30
“p= ——— = 1l5lcmmn’

n (5.4)%/4

1
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For 99.9% pure FRP:

0.023.2 1.51
In (0.001) = ———— | 0.353 -
1.51 151

Therefore, Z = 701cm, or a total length of 1402cm.

Using the conditions of run 66-14.6-40-25-60 (Table 9.1) and designing for
90.1% pure FRP, then:

Modified K 4g = 0.401

(40 + 54.6)12
Uy = = 2.07cm min-!
n (5.4)%/4
1037/25
Uy =———= = 1.81cm min’!
n (5.4)%/4
0.023.Z 2.07
In (0.099) = ———— | 0.401: ——
2.07 1.81

Therefore, for 90.1% pure FRP, Z = 280cm or a total lcn'g;h of 560cm. And
for a 99.9% pure FRP at a similar switch time,

0.023.Z 2.07
In (0.001) = — | 0.401-
2.07 1.81

Therefore, Z = 837cm, or a total SCCR7 length of 1674cm.
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APPENDIX C

LISTING OF COMPUTER PROGRAM,
RESULTS AND SYMBOLS
USED FOR THE SIMULATION OF THE
SCCR7 SYSTEM



FIG: C1 = LISTING OF THE SIMULATION PROGRAM.

$JOB GG4 2299GGS ppn OUT=RES4
$FORTRAN.S
DIMENS IONG(500) ,F (500) ,AG(500) ,AF (500),
1FMASS (500) ,FCLM(500) ,GOONC(500) , FOONC(500)
DIMENS ION GWASS(500) ,GCM(500)
REAL KIM,M(500),AM(500) ,MMASS (500) ,MCIM(500)
REAL KD1,KD2,KD11,KD12,KD13,KD21,KD22,KD23
REAL MOONC(500) ,KDG,KDF ,HETP , KKK, VFCN(500)
REAL MFEED,VG1(20),VF1(20),W1(20),NTTP,N-HO
REAL LVT,LVSP,KDGVD,KDFMD, VGCN(500) , VMCN(500)
INTEGER X,KNL(20),NTCLS,PRFD
C INPUT ALL DATA
DIA=5.4
TLENGT=787.0
CFLOWN=0.65
FFLOW=0.217
SFLOWN=1.333
GFEED=0.2808
FFEED=0.2273
MFEED=0.03189
PERTIM=13.0
KKK=0.023
REFST=23.0
PURITY=99.9
VOPKPC=1037
NTCLS=12
KCYC=9
KCYLST=8 -
TEMP=60
NFEED=7
NNBED=32
VINV=700.0
V2NV=800.0
KDM=0. 19
KDG=0.215
KDF=0,472
DELTAT=2.5
SWT IME=23.9
SWTFR=20.3
PURC=(100.0-PURITY)/100.0
REFLOW=13.0
ILK2=86413
CFLOWM=CFLOW*60.0 =
SFLOWVI=SFLOW*60.0
FFLOAM=FFLOW*60.0
KTOTAL=KCYC*NTCLS
VRT 1=SFLOWV*PERT IM
PRFD=NFEED~1
XSA=(3.1416*(DIA**2)) /4
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0000

OO0

TESV=XSA*TLENGT
ESTIMATION OF ACTUAL SWITCH TIME
CFEED=(GFEED+FFEED+MFEED)*100.0
IF (CFEED.LT.45.) THEN
OPSWP=(0.542*CFEED+80.28)*REFST/100.
ELSE
OPSWP=(0. 175*CFEED+87 .05) *REFST/100.
ENDIF
IF (FFLOWM.NE.REFLOW) THEN
OPSWP=( REFLOW/FFLONM) *OPSWP
ENDIF
CFF=( (FFEED*100. ) /CFEED)*100.
OPSWP=(152.89-1.25*CFF ) *OPSWP/100.
LVT=( (CFLOAM*2) +FFLOWM) / (XSA*2)
THE INFINITE DILUTION DISTRIBUTION
QOEFF ICIENTS ARE MODIFIED TO ACCOUNT
FOR THE EFFECTS OF TEMPERATURE,
FLON RATES AND CONCENTRATION.
KDF=(114.55-0.563*TEMP ) *KDF / 100
KDF=(112.68-11.593*LVT)*KDF /100
KDG=(111.71-10.631*LVT)*KDG/ 100
E1=492.5*KDG/ (2*100)
C1=164.83*KDG/ 100
E2=173. 1*KDF /100
C2=85.71*KDF /100
E3=198.3*KDG/100
C3=107.43*KDG/ 100
E4=38.9*KDF /(2*100)
C4=101.62*KDF /100
ES=627.4*KDG/ 100
C5=111.6*KDG/100
E6=289. 1*KDF /100
C6=112.2*KDF /100
KD11=E1*GFEED+C1
KD12=E3*FFEED+C3
KD 13=E5*MFEED+C5
KD21=E2*GFEED+C2
KD22=E4*FFEED+C4
KD23=E6MVWFEED+C8
TFCS=CFEED/100.0
KDFMD=(GFEED/TFCS ) *KD21+ (FFEED/TFCS ) *KD22+ (MFEED/TFCS) *KD23
KDGVD=(GFEED/TFCS) *KD11+(FFEED/TFCS ) *KD12+(MFEED/TFCS ) *KD13
CALCULATION OF THE ACTUAL NULMBER OF
THEORET ICAL PLATES USING THE FEED
BAND BROADENING APPROACH.
FVPC=FFLOAMM*OPSWP*NTCLS
N-O=FVPC*NNBED*NTCLS/TESV
IF (NHO.LT.60.0) THEN
NTTP=NHO*3.85+339.4
ELSE
NTTP=NHO*7.13+138.53
ENDIF
KKINK=OPSWP*60.0/DELTAT
DT=SWT IME*60/KK INK
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89

40

80

DTF=SWTFR*B0/KK | 1
SWPF=KK | NK*DTF /60

SWP=KK |NK*DT/60.0

THEORET ICAL LENGTH ESTIMATION USING

THE SCIANCE AND CROSSER MODEL.

LVSP=( VOPKPC/OPSWP ) /XSA

SLTH=2*ALOG(PURC) *LVT / (KKK* (KDGVMD~(LVT/LVSP)))
HETP=SLTH/NTTP

V1=V1NV/NNBED

V2=V2NV/NNBED

CALCULATION OF THE OONCENTRATION PROF ILES
DO 99 I=1,500

G(1)=0.0

F(1)=0.0

M(1)=0.

AM(1)=0.0

AG(1)=0.0

AF(1)=0.0

CONT INUE

NNTOT=NNBED*NTCLS

NNN | NE=NNBED* (NTCLS—-1) +1

NNFEED=(NFEED-1) *NNBED+ 1

CALCULATION OVER TOTAL NUMBER OF SEQUENCES
DO 100 K=1,KTOTAL

I STKK=KK | NK* (K=1) +1

LSTKK=KK | NK*K

TOTAL NLMBER OF TIME INCREMENTS DURING A SEQUENCE

DO 200 KK=|STKK,LSTKK
COLUMN FUNCT IONING MODE

DO 300 N=1,NTCLS

IF (N.LE . PRFD) CFLOWC=CFLOW

IF (N.GE . NFEED ) CFLOWC=CFLOW+FFLOW
IF(N.LE. (NFEED—K) )@ TO 300
NNFST=NNBED* (N-1) +1

NNLST=NNBED*N

CONCENTRAT ION CALCULATION FOR THE
PARTICULAR PLATE.

DO 400 NN=NNFST,NNLST

IF(N.EQ.1)G TO 80
IF((N.EQ.2) .AND. (NN.EQ.NNFST) )@ TO 40
IF (NN.EQ.NNFEED) @ TO .50

@ TO 60

G(NN-1)=G(NNBED)

F (NN-1)=F (NNBED)

M(NN=1)=M(NNBED)

@ TO 70

A=CFLONC*DT )
AAF =CFLONC*DTF

CALCULATION OF THE DISTRIBUTION QOEFFICIENTS FOR

THE PARTICULAR BACKGROUND CONCENTRAT ION.
KD11=E1*G(NN)+C1
KD12=E3*F (NN) +C3
KD13=E5%M(NN) +C5
KD21=E2*G(NN)+C2
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KD22=E4*F (NN)+C4
KD23=E6*M(NN)+C8
CTL=G(NN) +F (NN)+M(NN)
IF (CTL.LT.0.01) THEN
KD1=AMAX1(KD11,KD12,KD13)
KD2=AMAX1(KD21,KD22,KD23)
ELSE
KD1=G(NN)*KD11/CTL+F (NN)*KD12/CTL+M(NN)*KD13/CTL
KD2=G(NN)*KD21/CTL+F (NN)*KD22/CTL+M(NN) *KD23/CTL
ENDIF
IF(G(NN=1) .LT.0.1E-10)G(NN-1)=0.0
IF(F(NN=1).LT.0.1E-10)F(NN-1)=0.0
IF(M(NN=1) .LT.O0,1E-10)M(NN-1)=0.0
RR=EXP (~-A/(V1+V2*KD1))
SS=EXP (~-AAF/ (V1+V2*KD2) )
RM=EXP(-A/V1)
M(NN)=(1.-RM)* ( (CFLON®M(NN-1) +FFLON*MFEED) /CFLONC ) +RV*V (NIN)
G(NN)=(1.-RR)*( (CFLON*G(NN-1) +FFLOWN*GFEED) /CFLONC) +RR*G (NN)
F(NN)=(1.-SS)*( (CFLON*F (NN-1) +FFLOW*FFEED) /CFLOANC ) +SS*F (NN)
GO TO 400
60 IF(G(NN-1).LT.0.1E-10)G(NN-1)=0D.0
[F(F(NN=1) .LT.O0.1E=-10)F(NN=-1)=0.0
IF(M(NN=-1).LT.0.1E-10)M(NN=-1)=0.0
70 A=CFLONC*DT
AAF =CFLONC*DTF
THE DISTRIBUTION QOEFFICIENTS ARE MODIFIED FOR
THE PARTICULAR BACKGROUND CONCENTRAT ION.
KD11=E1*G(NN)+C1
KD12=E3*F (NN) +C3
KD13=E5*M(NN)+C5
KD21=E2*G(NN)+C2
KD22=E4*F (NN)+C4
KD23=E6*M(NN)+C6
CTL=G(NN)+F (NN) +M(NN)
IF (CTL.LT.0.01) THEN
KD1=AMAX1(KD11,KD12,KD13)
KD2=AMAX 1 (KD21,KD22,KD23)
ELSE
KD1=G(NN)*KD11/CTL+F (NN)*KD12/CTL+M(NN)*KD13/CTL
KD2=G(NN)*KD21/CTL+F (NN) *KD22 /CTL+M(NN) *KD23/CTL
ENDIF :
RR=EXP (-A/(V1+V2*KD1))
SS=EXP (~AAF/(V1+V2*KD2))
RM=EXP(~-A/V1)
M(NN)=(1,0-RM)*M(NN=1) +RM*M(NN)
G(NN)=(1.0-RR)*G(NN-1)+RR*G(NN)
F(NN)=(1.0-SS)*F (NN-1)+SS*F (NN)
& TO 400
80 IF(NN.EQ.NNFST)G TO 80
IF(G(NN-1),LT.0.1E=10)G(NN-1)=0.,0
IF(F(NN=1).LT.0.1E~10)F(NN-1)=0.0
IF(M(NN=1).LT.0. 1E=10)M(NN-1)=0.0
@ TO 85
80 G(NN-1)=0.0
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F(NN-1)=0.0
M(NN=-1)=0.0
95 A=SFLOW*DT
AAF =SFLOW*DTF
THE DISTRIBUTION COEFF ICIENTS ARE MODIF IED FOR
THE PARTICULAR BACKGROUND CONCENTRAT ION.
KD11=E 1*G(NN)+C1
KD12=E3*F (NN)+C3
KD13=E5*M(NN) +C5
KD21=E2*G(NN) +C2
KD22=E4*F (NN) +C4
KD23=E6*M(NN) +C8
CTL=G(NN)+F (NN) +M(NN)
IF (CTL.LT.0.01) THEN
KD1=AMAX1(KD11,KD12,KD13)
KD2=AMAX 1(KD21,KD22,KD23)
ELSE
KD1=G(NN)*KD11/CTL+F (NN)*KD12/CTL+M(NN) *KD13/CTL
KD2=G (NN) *KD2 1 /CTL+F (NN) *KD22 /CTL +M(NN) *KD23 /CTL
ENDIF
RR=EXP (—A/ (V1+V2*KD1))
SS=EXP (—AAF / (V1+V2*KD2) )
RM=EXP (-A/V1)
M(NND) =( 1.0-RM) *M(NN=1) +RM*M(NN)
G(NN)=(1.0-RR)*( (G(NN=1)) ) +RR*G(NN)
F(NN)=(1.0-SS)*F (NN-1) +SS*F (NN)
400 CONT INUE
300 CONT INLE
200 CONT INUE
DO 500 NN=1,NNBED
AG(NN)=G(NN)
AF (NN) =F (NN)
AM(NN) =M(NN)
500 CONT INUE
DO 600 NN=1,NNTOT
IF(NN.GE.N\NINE)@ TO 2010
NNAD J=NN+NNBED
G(NN)=G(NNADJ)
F (NN)=F (NNADJ)
M(NN)=M(NNADJ)
& TO 600 '
2010 NNADJ=NN+1-N\NINE
G(NN)=AG(NNADJ)
F (NN) =AF (NNADJ)
M(NN) =AM(NNADJ )
600 CONT INLE
100 CONTINUE
WRITE(3,5)
WRITE(3,6)
WRITE(3,7)
WRITE(3,8) _
WRITE(3,51)CFEED, CFLOWM, FFLOWM, SFLOWM, OPSWP , NNBED , TEMP
WRITE(3,91) -
WRITE(3, 12)KCYC
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0O0o0

11

27

14

15

13

WRITE(3, iC)
WRITE(3,34)
GOUM(1)=0.0
FCUM(1)=0.0
MCUM(1)=0.0
DO 11 I=1,NNTOT :
THE DISTRIBUTION COEFFICIENTS ARE MODIF IED FOR
THE PART ICULAR BACKGROUND CONCENTRAT ION.
KD11=E1*G(NN)+C1
KD12=E3*F (NN) +C3
KD13=E5*M(NN) +C5
KD21=E2*G(NN) +C2
KD22=E4*F (NN) +C4
KD23=E6*M(NN) +C8
CTL=G(NN) +F (NN) +M(NN)
IF (CTL.LT.0.01) THEN
KD1=AMAX1(KD11,KD12,KD13)
KD2=AMAX 1 (KD21,KD22,KD23)
ELSE
KD1=G(NN)*KD11/CTL+F (NN)*KD12/CTL+M(NN) *KD13/CTL
KD2=G(NN) *KD21/CTL+F (NN) *KD22/CTL+M(NN) *KD23 /CTL
ENDIF
GVASS (1 )=G( | )*V1+G( | ) *KD1*V2
FMASS (| )=F (1 )*V14F ( | )*KD2*V2
MVASS ( 1)=M( | )*V1
CONT INUE
L=NNBED
0O 14 [=1,NNTOT+1
IF(1.EQ. (L+1) )GCUM( | )=GMASS( | )
IF(1.EQ. (L+1) )FCUM( | )=FMASS( | )
IF(1.EQ. (L+1) )MCUM( | )=MVASS( | )
CONT INUE
L=L+NNBED -
IF(L.EQ. (NNTOT+NNBED) )& TO 15
@ TO 27
L=NNBED
CALCULATION OF THE AVERAGE INDIVIDUAL
COMPONENT CONCENTRATION IN EACH COLUVN
DURING THE FINAL CYCLE.
j=2
Z=0
GOUM(1)=0.0
FCLM(1)=0.0
MCLM( 1)=0.0
DO 16 Xw=I,L
GOUM(X ) =GVASS (X) +80UM(X~1)
FOLM(X) =FMASS (X ) +FCLM(X=1)
MCLM(X ) =MMASS (X ) +MOLM(X=1)
MOONC (X ) =MCUM(X) /VRT 1
GOONC(X)=GCLM(X) /VRT1
FOONC (X ) =FCLM(X) /VRT1
WMCN(X ) =100*MCONC (X)
VGCN(X ) =100*GCONC(X)
VFON(X)=100*FCONC(X)
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KOLNO=X/NNBED
IF(X.EQ.L) & TO 18
@ TO 18
18 Z=Z+1
KNL (Z )=KOLNO
VG1(Z)=VGCN(X)
VF1(Z)=VFCN(X)
W1 (Z)=WCN(X)
16 CONT INUE
I=L+2
L=L+NNBED
IF(L.EQ. (NNTOT+NNBED) )@ TO 355
@& TO 13
355 WRITE(3,4)KNL(1),VG1(NTCLS),VF1(NTCLS),W1(NTCLS)
c PRINT OUT THE RESULTS
c COLUMN 1 REPRESENTS THE PURGED OOLUMN
FINLST=NTCLS-1
DO 886 Z=1,FINLST
TST=Z+1
WRITE(3,4)KNL(TST),VG1(Z),VF1(Z) ,W1(Z)
886 CONTINUE
WRITE(3, 156)
WRITE(3, 158)
WRITE(3, 157 )KDGVD, KDFMD
WRITE(3, 162)PURITY
WRITE(3, 163)SLTH
WRITE(3, 164)NTTP
WRITE(3, 165)HETP

WRITE(3, 159)
162 FORMAT(//,10X,'FOR A ‘,F4.1, ‘% PURE FRUCTOSE RICH PRODUCT",/)

163 FORMAT(10X, "THE REQUIRED TOTAL SCCR LENGTH IS :',F6.1,° CM")
164 FORMAT(10X, 'THE TRUE NUMBER OF THEORETICAL PLATES IS :*,F6.1)
165 FORMAT(10X, *RESULTING IN A HETP OF :',F4.1,' Qv')
156 FORMAT(//, 10X, ‘'THE ACTUAL DISTRIBUTION COEFF ICIENTS BASED')
158 FORMAT(//////1111711117)
158 FORMAT(10X, ‘ON THE FEED COMPOSITION WERE : )
157 FORMAT(12X, 'KDG =',F5.3, 10X, 'KDF =',F5.3)
4 FORMAT(11X, 12, 10X,F5.2,15X,F5.2,12X,F5.2)
5 FORMAT(1H1,//////////77//777,12X, "FEED’, 1X, "ELUENT*,
11X, ‘FEED’, 3X,
1'PURGE ‘,3X, 'PREDICTED ‘,1X, "APPARENT NO',3X, "TEMP")
6 FORMAT( 12X, ‘CONC’, 1X, ‘FLOW’,3X, 'FLOW",3X, 'FLOW*,3X,
1'SWITCH TIME'1X,' OF PLATES ‘)
7 FORMAT(11X, "®N/V',2X, 'RATE’,3X, 'RATE’,3X, "'RATE", 85X,
1'MINJTES ', 3X, 'PER COLUWN',6X, 'C")
8 FORMAT( 17X, 'ML/MIN', 1X, 'ML/MIN", 1X, '"ML/MIN',8X, /)
81 FORMAT(//, 17X, ‘AVERAGE CONCENTRATIONS OF SUGARS ON EACH')
12 FORMAT (25X, '‘OOLUMN AFTER', 13,’ CYCLES')
10 FORMAT(/, 10X, ‘COL NO‘,2X, ‘AV GLUCOSE CONC‘,2X, "AV’,
11X, 'FRUCTOSE OCONC’,2X, ‘AV MALTOSE CONC'/)
34 FORMAT(23X, ‘% W/V',15X, "% W/V’,12X,'% W/V'/)
51 FORMAT(12X,F4.1,1X,F5.1,2X,F4.1,3X,F5.1,5X,F5.2,8X,
112,7X,F5.1)
STOP
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$VU.S
$RUN
$EOJ

F1G: C2 - RESULTS OBTAINED USING THE SIMULATION PROGRAM.

FEED ELUENT FEED PURGE PREDICTED APPARENT NO  TBMP
CONC FLON FLON FLON SWITCH TIME OF PLATES
%N/V RATE RATE  RATE MINJTES  PER COLUWN C

ML/MIN ML/MIN ML/MIN
54.0 39.0 13.0 80.0 24.52 32 60.0
AVERAGE CONCENTRATIONS OF SUGARS ON EACH
COLUMN AFTER 8 CYCLES
COL NO AV GLUOOSE CONC AV FRUCTOSE CONC AV MALTOSE CONC

% W/V. % W/V % W/vV

i 0.00 0.00 0.00

2 0.00 7.49 0.00

3 0.21 21.90 0.00

4 2.00 21.88 0.00

5 11.30 21.88 0.00

6 23.18 21.88 0.00

7 25.72 21.86 0.77

8 25.78 21.43 1.15

9 25.78 12.08 Vil

10 25.78 13.34 P I
11 25.77 ; 5.75 1.17
12 25.43 1.26 1.17

THE ACTUAL DISTRIBUTION COEFF ICIENTS BASED
ON THE FEED COMPOSITION WERE :

KDG =0.377 KDF =0.434 )
FOR A 99.9% PURE FRUCTOSE RICH PRODUCT
THE REQUIRED TOTAL SCCR LENGTH IS :1707.2 OM

THE TRUE NUIVBER OF THEORETICAL PLATES IS : 721.86
RESULTING IN A HETP OF : 2.4 QM
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Al Array containing concentrations of component i

CFLOW  Mobile phase flow rate (cm:".s'l)

CIL Total sugar concentration at any plate in the column (g.cm‘3)
DELTAT Time increment (s)

DIA Column inside diameter (cm)

DT,DTF Time increments based on the initial switch time approximations (s)
F Array containing the fructose concentration in each plate (g cm™)
FFLOW  Feed flow rate (cm3.s™)

G Array containing the glucose concentration in each plate (gem™)
HETP Height equivalent to a theoretical plate (cm)

iCONC  Average concentration of component i in each column (g cm™)
iCUM Cumulative mass of component i (g)

iFEED Feed concentration of component i (g.cm™)

iMASS Arrays containing the mass of component i for each plate (g)
ISTKK First time increment in a sequence

KCYC Total number of cycles |

KCYLST Penultimate cyélc number

KD1 Modified glucose distribution coefficient

KD11 Glucose distribution coefficient in glucose background

KD12 Glucose distribution coefficient in fructose background
KD13 Glucose distribution coefficient in maltose background

KD2 Modified fructose distribution coefficient

KD21 Fructose distribution coefficient in glucose background
KD22 Fructose distribution coefficient in fructose background
KD23 Fructose distribution coefficient in maltose background
KDi Infinite dilution coefficient of component i

KDiMD  Actual distribution coefficient of component i based on the feed composition

KKINK  Number of time increments in a sequence
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KKK Dissociation constant used in equation 9.1
KNL Array containing the column numbers
KTOTAL Total number of sequences

LSTKK  Last time increment in a sequence

LSVP Linear velocity of stationary phase (cm.min™1)

LVT Average linear velocity of the mobile phase (cm.min"1)
M Array containing the maltose concentration in each plate (g cm3)
N Column number

NFEED  Number of feed column

NHO Number of "apparent” plates occupied by the feed band

NN Plate counter

NNBED Number of "apparent” plates in each column (based on fructose)
NNFEED Number of feed plate

NNFST  First plate in a column

NNLST  Last plate in a column.

NNNINE Last plate in the previous column

NNTOT  Total number of "apparent” plates on the system

NTCLS  Total number of columns

NTTP Total number of theoretical plates found using equations 6.9 or 6.10
OPSWP  Actual switch time (min)

PERTIM  Purping period (min)

ppn User's personal computer number

PRFD Column before the feed column

PURITY Predetermined FRP purity for which the theoretical length estimation has
been carried out (%)

REFLOW Reference feed flow rate (cm> min™!) i

REFST Reference switch time (min)

SFLOW  Purge flow rate (cm3- )

SLTH Theoretical system length found using equation 9.1 (cm)
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SWTFR, Initial switch time approximations (min)
SWTIME

TEMP Operating temperature (°C)
TESV Total empty system volume (cm3)
TFCS Total feed concentration (g.cm™)
TLENGT Total system length (cm)

ViCN Average concentration of component i in each column (% w/v)
VOPKPC Volume of stationary phase per column (cm?3)

VRT1 Total purge volume (cm3)

VINV Mobile phase plate volume (cmd)

V2NV Stationary phase plate volume (cm3)

XSA Column cross-sectional area (cm?)

The subscript i represents glucose, fructose and maltose
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GRP

MEN
Eddy diffrsion term in the Van Deemter equation
Cross-sectional area
Longitudinal diffusion term in the Van Deemter equation
Mass transfer term in the Van Deemter equation ’

Concentration of component i in the mobile phase

Contribution of the extraparticle effect on the C term in the
Van Deemter equation

Contribution of the stationary phase mass transfer effects on
the C term in the Van Deemter equation

Contribution of the stagnant mobile phase effects on the C term
in the Van Deemter equation

Solute concentration at the elution peak

Dextran
Column diameter

Particle diameter
film thickness

Solute diffusion coefficients corresponding to extra-particle,
stagnant mobile phase and stationary phase respectively

Solute radial diffusivity

Natural logarithm
Experimental-Theoretical-Correlation-factor
Fructose

Actual operating feed flow rate

Reference feed flow rate

Feed concentration of component i

Fructose rich product
Glucose

Glucose rich product
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H Plate height

h Peak height

H, Height contribution due to uneven velocity profiles

HETP Height equivalent to a theoretical plate

HFCS High Fructose Corn Syrup

K” Kozeny's constant

Kgi Distribution coefficient of component i

K*di Reference distribution coefficient of component i calculated at
infinite dilution, 25°C and at 1.09 cm min"! linear
velocity

™41 Infinite dilution distribution coefficient of component i

KJ di Distribution coefficient of component i in background of
component J

2K Distribution coefficient of component i evaluated at 25°C

k; Capacity factor

k’g Probability per unit time that a molecule will dissociate from the

surface bed (for component i)

ISEON. N &) Rcaction constants

L System'’s length

le Pre-feed mobile phase flow rate

Li Mobile phase flow rate

Lm Average mobile phase flow rate

L Eluent phase flow mﬁ

L, Feed flow rate ,( Lf)

L Purge flow rate

M Maltose

N "True" number of theoretical plates

N* "Apparent" number of theoretical plates
Ny Number of theoretical plates needed in a batch system
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Hﬁ»cfé'-'

&

<

Number of overall gas phase transfer units

Number of theoretical plates for component i

Number of plates occupied by the feed band

Number of theoretical plates needed in a continuous system
Number of theoretical plates for the batch system

Number of theoretical plates for the semicontinuous system

Oligosaccharides
Stationary phase effective flow rate

Concentration of component i in the stationary phase

Column radius

Maximum rate of product formation
Initial rate of product formation
Resolution

Switch period
Packing specific surface area
Predicted switch time

Initial substrate concentration

Actual switch time
Reference switch time for the particular SCCR system

Temperature

Retention time of component i

Mobile phase velocity

Effective stationary phase velocity

Retention volume of component i

Total void volume in the chromatographic column

Volume of stationary phase = V-V
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Vr Total emprty column volume

W; Peak width at the base of the elution curve of component i
(in time units)

Wh/e Band width measured at a height equal to h/e

XA XB Concentrations of ions A and B in the solute

X; Stationary phase concentration of component i

XSA Cross-sectional area

Y Yn Concentrations of ions A and B in the resin

i Mcbile phase concentration of component i

Z System's length/2

Greek Letters

] Separation factor

B Affinity coefficient

Yy Radial Labyrinth factor

Y1 Rate of transfer of molecules from gas to liquid

) Rate of transfer of molecules from liquid to gas

5y4 Fractional changes due to the effect of concentration
on the distribution coefficient of component i

695 Fractional changes due to the effect of system characteristics
on the distribution coefficient of component i

€ Column voidage

A Parameter relating the relative lengths of batch and continuous
systems required to perform the same separation
Fluid viscosity

o Peak variance in units of volume
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Batch operation
Fructose
Glucose
Maltose

Semi-continuous operation

Dextran

Fructose

" Glucose

Maltose
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Determination of Kg' for 10 column x 2.54cm dia SCCR4 Unit

The operating conditions and results of run 02-2.4-6.1-29 ... reference (12) were used since

this run approached the "infinite dilution" conditions, ie.

Xg = 0.098, Z = 638/2 = 316¢cm, Kdg = 0.23

Switch time = 30 min

Vg Average mobile phase flow rate  (6.1+8.5)/2

Uy = = = = 1.44cm.min"
XSA XSA 7 (2.54)2/4
Vp Average volume of packing per column/switch time
LLP — =
XSA . XSA
320730
= emmme—e—eee = 2.1lcm.min"]
7 (2.54)%/4
Therefore
316kg' 1.44 : .
In (0.098) = ---—-—- (0.23 - ——--) kg'“= 0.023
1.44 2.11
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Prediction of total Iength of the 10 column x 10.8cm dia SCCR6 Unit

Using similar operating conditions to the 2.54cm dia SCCR4 Unit, the same switch time of

30 min and the following data
feed flowrate = '.’uSc:m3 min-1
eluent flow rate = 105cm3 min"} and Kdg = 0.168

and designing for 99.9% pure FRP (ie. Xg = 0.001) then,

(105 + 140)/2

Uy = ——-——e— = 1.34 cm.min”!
7 (10.8)2/4
3940/30
Uy W' Sonbammmniiocn: = 1.43 cm.min"1
7 (10.8)%/4
Hence,
0.023Z 1.34
In (0.001) = -=-e—em- (0.168 ~ ~——-) & Z = 522cm
1.337 1.43

With a central feed location on a continuous unit, the overall theoretical SCCR6 system

length is 1044cm.
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FIS. ° TEXPERIMENTAL AND SIMULATED CONCERTRATION PROFILL I'Ow DATUIL MUN KO, 20=4=100~1D0
J =20
Foed Ct:.ncen:rl:tnn 200 w/y 3 Feed Volume 2400 cml O 9glucose
0.2 g/em (4% of toctal cmprty column volume) |  frycrose
Eluent Flow Rate 100 :maml.n-l, Temperature :o"‘c --Y.-simulatod
—Xxpori=
mentcal
0.10
Q.08
0.08 A
Caonc.
g/emd
.04
0.0
0.0 s S
i -~ T T T T T
150 130 230 270 ilo 350 390 40 70 slo 550 530
Time (min)
K] 5 .
FIG. 2 EXPERIMENTAL AND SIMULATED PROFILE FOR DBATCH nun 20-25-100-100-20
Feed Concentration 20V w/v , Feed Volume 15000 em? © glucose
0.2 g/em3 {25V of total empty column volume) + fructosq
Elucnt Flov Rete 100 cm’min™}, Temparature 20°c ==-ees Bimulateti
— eXperi-
mental
3. 1]
0.04
Q.06
ine.
] fend
0.01]
0.07]
0.0 +
lbo l’lo T ] * ¥ L] L L L) L] L]
230 270 3o 350 3% 430 470 slo 550 530 620
Time (min)
FI16. 3 EXPERIMENTAL AND SIMULATED PROFILE TOR RATCH Rt 70-20-100-100-20
Feed Concentration 70\ w/v _, Feed Volume 12000 em® © 9glucose
0.7 g/emd * (2008 of total empty column volume) + [fructose
k] -1 -] & Dextran
Eluent Flow Rate 100 cm-min -, Temperature 20°C *T*=simulated
experimen=
tal
0.1071
0.08] ; )
0.06
g’
0.04
0.0 o
0.0 E
1150 150 230 270 3lo 350 3%0 430 470 510 ss0 550 430

Time {min)
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TABLE 1. . SIMUIATION RESULTS FOR TIE COMPARISON OF BATCH AND SFMI-CONTINUOUS OPERATION FOR
GLUCOSE FRUCTOSE FEED AT AMRIENT TEMPIATURE

BATCH SEMI CONTINUOUS
FEED
coNe. TRECHOSE EtBooEE AVERAGE — TIROUGH=
SAPLIL oo T PRODUCE ynouad  F1R% FRUCTOSE GLUCOSE i PUT
W/vo hoLum o || maTES PRODUCT rropucT [ ] RATIO
[ 1HJEC- xg/h WITC! s f;l .
MASS *ROD . LU~ [IR10
=0 Ll merenl e mesren 197" b mol | Toselmoo] ,boss son] ™ fen co
G | F ) ’ ) gl s emd | 5 BAL. |rONC ‘L. fonc BATCIL
v /v v bw/v _ytm LY A
nin Toin= | A wiv v/

0.0 | 10.0|15.0 |99.9{100 | 2.6(99.9| 100 | 5.7 |0.25 |70.2{210 [15 P6.1[100 [1.05[79.9| 100]|0.9 | N.04 .36

ho.o | 20.0/15.0 |84.0|100| 9.1{99.9/ 100 |12.1}1.11 |70.2|210 |15 po.O|100 |2.97}79.9] 100(1.47 1.68 | 1.51

£5.0 | 25.C| 15.0 [82.0|100 jL2.9 99.51100 14.6] 1.21 |70.7|210 |15 [S.oflo0 |3.4 9.9} 100|1.B | 2.1 1.73

* fructose concentration in bulk fructose product over the switch period of 15 minutes

TABLE 2. STMULATION BESULTS FUR THE COMPARLISON OF BATCH AHD SHEHT-CONTTIUOUS ONERATION FOR
f-l.tlt':n:‘!?., FRUCTOSE, DOXTRAN FELD AT AMBIENT TIMPERATURE
BATCH SEMI-CONTIHNUOUS
FEED 2
COMCENTRATION
L FRUCTOSE DEXTRAN AVERAGL FRUCTOXE DEXTRAN TITROUGTH -
t w/v AMPLE ¥
[MIE4 PRODUCT PRODUCT F1L¥A 1T PRODUCT PRODUCT T
2 . T PAF RATES ' TTUT .
“TED B 'FR10 o/
{1 : ain) X PR
MASCFRIC, MASS IAL.| D o MASEt RUC | MASS BAL. ML CTee
TEDRIIn "UR. D b phuat i bl
POR. lgaL.tonc [ UR" s CONC FREDERG "UR- InaL_fonc.| TOR i BATCH
G F| D v 1 rmd | end 4} o N ONe: |
1 Fwiv D| G x o LI BT ny| G R
jmin” Imin
n.07 lo.4940.17 120179.9|100 | 10.3 68 [100 100 | 3.0:f 0.&'(70.2|210 |15 R9.9[100 6.2 |9.2100 |100 }3,772.94 4.26

* fructose concentration in bulk fructose product over the switch period of 15 minutes
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TABLE 3 RESULTS FOR TIE COMPARISON'OF DATCH AND CONTIHUOUS OPERATION OF SEEQQ&E FRUCTOSE
F:'gfson Batch Scmi-Caqtinuous IT:::@1
- Ratio
F.R.P. G.R.P. Mmroughy F.R.P. G.R.P. hhroust Semi/
G F T ~ rat . " = 4 Ratch
55 [ ruct. MOSS | telue, -1 Trucl, o, | 2
Purit P Purity kg h e | 1S Mass 1 -1
X oa1. fone,” | M) ol Jgeney M9 N INEIEr | pay g Jiss P I, RO (MO R
110.1]10.2/99.9 | 102 5.44 [99.9 103 7.65 | 0.3 85.0 ] 105 1.22 | 99.9 69 1.4 |o.84 2.8
20,0)20.01 84.0 | 105 |l2.01 |99.9 101 |15.52 | 0.98 | 76.0 | 102 22 99.9 98 2,98 | 1.68 1.72
25.0(25.1{ 82.0 103 13.1 99.9 106 21.85 1.21 70.0 111 7.6 99.9 100 2.7 2.1 1.74
TA3LE 4 RESULTS FOR TIE COMPARISON OF BATCH/CONTINUIS OPEPATION FOR FISINS SYNNMUETIC FFFD
Feed Conc. Ratch, Semi-Continuous Throwt
- ghput
F.R.P. D.R.P. Tro- F.R.P. D.R.P. ﬁnhu-EE:?
. il . it |7
G F D ruck. LexL. ) Mass | FIuct ™ DoxC. |,y -y |Batch
pursty z;:'\is enc. Purity :}"55 mal.t e (R hurtny pa). |Conc. furity ;“ R‘é" conc. [
b3 X Rowly s G 5w/ % » Lw/ivl % 3 wfv
6.3 (8.3 114,9] 99.9 {114 |B.G4 | 66 |IID | 108 {3.84 |o.56 pa.a |114 [16.3{ 72 |101 102 | 4.2 |2.94) 5.25

TABLE 5: Experimental Operating Conditions for the Evaluatlon

of Lhe SCCR6 Total System Length

hverage Flow Ratcs
Ran; Hugbex cm? min~1 " Switch Time Feed Concentration Temperaturo
Eluent Fued Purage Min 1 w/v b
20-15-105-30-20 105 35 550 30 20 20
TABLLC 6: Results Obtained at the Above Opurating Conditions
Fructose Rich Product Glucose Rich Product
Feed Product Total Fructose Product Total Glucosy
Throughput Purs.r.y Concentration Recovered Purity Concentration Recovered
k’fhr i £ w/v 1 1 1 wiv
0.42 99.9 0.64 98 99.9 2.37 101
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