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SUMMARY

Biomass gasification systems for the production of electricity suffer from a number of
technical disadvantages at smaller scales, notably the presence of tars in the fuel gas, low
overall efficiency and high capital cost. This study addresses biomass gasifier-engine
systems for power and combined heat and power (CHP) in the size range 0.5-2.0 dry
tonnes per hour (roughly equivalent to 0.5-3.0 MW,). By the use of system modelling, it
seeks to identify efficiency and cost optima from a wide range of system configurations
and operating conditions.

" The need to dry biomass feedstocks before they can be gasified can place a large energy
and capital cost burden on smaller-scale systems. Drying may not always be unavoidable,
but as biomass moisture content to the gasifier increases, the quality of the product gas
deteriorates along with the overall performance of the whole system. Particular emphasis
is therefore given in the study to the integration of biomass drying, with the type of dryer
and the source of heat considered in detail.

The system model is spreadsheet-based, with individual worksheets corresponding to

models of system components. This approach allows easy modification of the model, and

rapid generation of results. Most of the system components are explicitly modelled on a
continuous basis, rather than being represented as fixed processes based on user-supplied

data. Wherever possible, data supplied by manufacturers or taken from real systems is

used in the construction of the sub-models, particularly in the derivation of cost functions.

In addition to the emphasis on drying integration, the study also considers the alternatives
of high-temperature slagging and conventional gasification (the former allowing the
consideration of air oxygen enrichment), both with suitable provision for the delivery of a
low-tar product gas. In the case of slagging gasification, the potential for supplying
oxygen-enriched air to the engine as well as the gasifier is also examined.
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LOCATION SUBSCRIPT
LOCATION
: Inlet Overall/Mean Outlet

Ambient - 0 -
Reception/storage/screening - 1 -
Dryer 2 3 4
Dryer burner 5 - 6
Air oxygen enrichment plant - 7 8
Gasifier 9 10 11
Cold regenerator 12 13 14
Hot regenerator 15 - 16
Product gas water heater 17 18 19
Product gas quench (including WWT) - 20 -
IC engine 21 22 23
Engine coolant radiator 24 25 26
Engine coolant water heater 27 28 29
Engine exhaust gas water heater 30 31 32
Electrical grid connection 33 34 -
Heat customer 35 - &
Total plant - 36 -
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1 INTRODUCTION

1.1 Background

Thtla term biomass was originally coined by biologists to denote the weight of plant and
animal material per unit area of land [1]. However, since the oil crises of the 1970s
spurred vigorous interest in alternatives to oil, the term has also come to mean any plant or
animal material of recent origin, for use particularly as a source of energy. This latter is
the sense in which the term biomass is used not only here, but more and more commonly in

industry, agriculture and government around the world.

The use of such material as a source of energy is however nothing new. Wood was one of
the first fuels to be used by man, and remains to this day the principal source of energy in
large parts of the developing world, combusted to produce heat for cooking and heating in
open fires or relatively simple stoves and grates. In recent times, biomass as a fuel for the
prodtiction of heat and power on an industrial rather than domestic scale has received a
great deal of attention, particularly as it represents a renewable source of energy (provided
it is grown and harvested sustainably) with the potential to address many of the pollution
problems associated with the use of fossil fuels [2]. Among these are the emission of
oxides of nitrogen and particularly sulphur which give rise to acid deposition. Most
importantly however, the use of sustainably grown biomass for energy is “carbon-neutral”
- that is to say the carbon emissions to the atmosphere from the conversion system (in the
form of gaseous carbon dioxide) are balanced by the carbon uptake from the atmosphere
during the growing cycle of the biomass; and atmospheric carbon dioxide is believed to be

one of the principal causes of global warming [3].

In December 1997, coinciding with the Kyoto Summit on climate change, the European
Commission published its white paper “Energy For The Future: Renewable Sources of
Energy” [4], stating the aim of doubling the share of energy from renewable sources in
total energy consumption in the European Union from 6% in 1995 to 12% by 2010.
Nearly 85% of this additional contribution is projected to come from biomass sources
including the organic fraction of municipal solid wastes (Figure 1.1) [4]. This represents a
tripling of present energy consumption from biomass in the European Union from 45 Mtoe

(million tonnes oil equivalent) to 135 Mtoe. Electricity production from renewables is
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forecast to double over the same period, with electricity production from biomass
accounting for over 60% of the increase. Also, of the additional 90 Mtoe of energy
consumption from biomass sources, nearly 30 Mtoe is projected to come from combined
heat and power (CHP) systems operating on solid biomass feedstocks, either residues from
forestry and agriculture or dedicated “energy crops”. A CHP system is one which supplies
electrical power and heat simultaneously, the heat usually being in the form of steam or hot
water. The concept is currently attracting a great deal of interest because of the very high
fuel utilisation efficiencies that may be achieved compared with systems for power
production alone, although a customer must exist for the heat produced.

Aston University

lustration removed for copyright restrictions

Figure 1.1 Renewables Share of Energy Consumption - European Union [4]

Individual countries are adopting similar targets for increased use of renewable energy in
general and biomass in particular. The UK has recently announced an ambition to generate
10% of its electricity from renewable sources by 2010, and biomass is expected to play a
major part [5]. Outside the European Union, the United States Department of Energy’s
Biopower Program aims to establish 17 GW. of new biomass generating capacity by 2018,
bringing the contribution from biomass to about 7.5% of total electricity [6].

These are very ambitious targets to achieve in a short time-scale. There is therefore much
activity within the European Union and elsewhere on work to bring bio-energy systems for
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power and CHP to a state of commercial readiness as rapidly as possible. Because of the
low energy density of biomass as a fuel at the point of collection (compared, say, with
natural gas or coal), transportation costs limit economic plant sizes to far below those
based on fossil fuels. A value around 100 MW, is often quoted as an upper limit [7]. A
significant fraction of the new capacity required if governments’ targets are to be met will
however be at scales very much smaller than this, in the region of a few megawatts. At
this scale plants would supply heat and power to local small-to-medium scale industry and
residential groupings with surplus electricity sold to the public distribution grid [3,4].

The present work focuses on this smaller scale of bio-energy system, with an electrical
output of between 0.5 and 2.5 MW, (corresponding approximately a biomass consumption
in the range 0.5 to 2.0 dt/h). The range has been chosen to exclude “on-farm” systems of
up a few hundred kW, where cost minimisation considerations often dictate the use of sub-
optimum, often recycled components. It also corresponds to the target application range of
one of the main system components in the study, the development of which has provided

the financial support for this work (see Section 1.4).

The traditional technology option for power or CHP from biomass has been conventional
combustion, in usually either a fluidised bed or moving grate combustor, with a boiler
raising steam to drive a back-pressure or condensing steam turbine [8]. Emissions from
this type of system (including CO, NO,, particulates) can however be high [9], and at the
small scale of interest considered in this work the steam turbine becomes very expensive
[10]. Thermal efficiencies (fuel in to electricity out) are also low, usually well below 20%
at smaller scales [11], and even in a CHP system it is economically sensible to maximise
the electricity output provided surplus can be sold to the distribution grid, as electricity is a
much higher value product than heat.

1.2 The Biomass Gasifier-Engine System
Air-blown gasification combined with an internal combustion (IC) engine for power
production is widely held to be a leading modern technology option for power or CHP

from biomass at scales of up to 5 MW, [7,12,13]. This arrangement, referred to henceforth

as a biomass gasifier-engine system or BGES, has the potential for overall efficiencies to
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electricity of 25% or more at a substantially lower capital cost than the steam-cycle
alternative [14,15].

The system extent may be defined as from the delivery of feedstock to the plant, through to
supply of electricity to the local grid (and in the case of CHP, supply of heat to the
purchasing body). Within the system, the biomass is first dried if necessary, and then
reacted in a gasifier, usually of the fixed bed type (see Section 5.1.1), with typically about
a third of the oxidant necessary for complete combustion. A low heating value product gas
is produced with CO and H, as the primary combustible components, and this is then
combusted with air in the IC engine. Heat may be recovered, for example from the engine
exhaust and cooling water, and from the hot product gas from the gasifier prior to

combustion in the engine.

The IC engine operating in this mode can achieve substantially higher electrical
efficiencies than either a steam turbine or a simple-cycle gas turbine at this scale and at
lower cost [16]. Combined cycle gas turbine configurations are receiving much attention
at larger scales, but are widely regarded as economically practical at scales of typically 20
MW, and above [12].

A number of systems have been built and operated on the BGES principle
[14,17,18,19,20], usually for power production only, and these are described in Section
6.1.2. Successful commercial operation has however been difficult to achieve thus far.
There have been two principal reasons. The first of these is the presence of excessive
levels of tars in the gasifier product gas which can seriously limit the life of engine
components. The removal of tars from the product gas to a level acceptable for use in
engines (Section 6.1.1.1) is difficult and expensive, as well as representing a loss of useful
chemical energy, and can also give rise to a further effluent disposal problem in the form

of water from wet scrubbers [21,22].

The extent of tars in the product gas is related to gasifier design and operating conditions

(see .Section 5.1.2). One approach to the problem is to design a gasifier in which the
gasification reactions take place either at high temperature and/or under the influence of a
catalyst, so that the tars are cracked to permanent gases. In a fixed-bed gasifier this may be

achieved by one or more of the following methods:
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e elevation of the temperature of the gasification zone within the reactor by the use of
pre-heated and/or oxygen-enriched air as the gasifying agent (resulting in slagging

operation)
e provision of an external thermal reactor supplied with secondary air

e provision of an external catalytic reactor, supplied with secondary air if necessary

The use of oxygen-enriched air also leads directly to a higher heating value product gas,
which has the potential to improve engine efficiency by increasing power output, and also
to reduce the capital cost of the gasifier and particularly the engine by reducing the size of
equipment required. Oxygen-enriched air may also be fed to the engine as the comburent,

offering similar potential improvements in efficiency and cost.

The prospect of a net reduction in the electricity production cost of this type of system
addresses the second reason for its lack of commercial success - economic viability. Up to
now, BGESs have required considerable public subsidy, except in certain specialised cases
where the feedstock is at or near zero cost and the location is remote or poorly served by
other energy options. If the use of oxygen-enriched air has the potential to reduce system
capital cost and improve overall efficiency, it can bring about a reduction in the electricity
production cost. Oxygen enrichment has in the past usually been discounted as an option
because of the electricity requirements and cost of the air separation equipment necessary

to provide the oxygen. However, costs have fallen considerably in recent years (Section
7.2).

1.3 Biomass Drying

The moisture content of the feedstock directly affects the operation of biomass gasifiers
through the effect it has on reaction rates, reaction temperatures and product gas heating
value. Most biomass feedstocks suitable for gasification would be likely to have a
moisture content on delivery to the plant in the range 40-120% on a dry basis, depending
on the type, location, and storage duration. Many gasifiers however require a substantially

lower moisture content for satisfactory operation (Section 5.1.1), and in any case the
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quality of the gasifier product gas generally improves as feed moisture is reduced. A
drying operation is therefore often necessary, and in a gasifier aiming to operate at high
temperatures and deliver a high heating value product gas, moisture content of the
feedstock may be expected to be a critical parameter due to the energy costs of

evaporation.

Drying is an energy-intensive operation, and a dryer can represent a significant capital
outlay. Sources of heat are available within the overall process to accomplish drying,
although these are already in demand in a CHP system for meeting the heat load. A
number of technologies exist which are suitable for the drying of biomass, but the
integration of these into a system of this type presents complex issues of performance and

cost optimisation which have rarely been subjected to rigorous analysis.

Throughout this work, biomass moisture content is quoted on a dry basis, defined as mass
of water divided by mass of bone dry solid, expressed as a percentage (% db). It should be
noted that values are also commonly quoted on a wet basis, i.e. mass of water divided by

mass of wet solid (% wb).
1.4 Work Scope and Objectives

In a BGES there is a strong degree of interaction between the drying process, the extent of
air oxygen enrichment, gasifier performance and overall system performance, and a
modelfing approach is required if the system is to be analysed, understood and optimised.

The primary objective of the present work is:

e the development of a model of a biomass gasifier-engine system (BGES) for power
or CHP, and its use to study the performance and cost characteristics of a small-
scale system for both power and CHP with an electrical output of between 0.5 and
2.5 MW.. Particular attention is given to the integration of feed drying, and to the
potential use of a high-temperature slagging gasification process with provision for

air pre-heating and oxygen enrichment.
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The evaluation of system performance and cost involves the optimisation of configurations
against certain criteria, and the comparison of different configurations on a consistent

basis.

Both systems incorporating a high-temperature slagging gasifier and a non-slagging
gasifier with external tar cracking are considered. In the former case, the system
incorporates gasifier air pre-heating through heat exchange with the hot product gas, as
well as an air separation unit for supplying oxygen-enriched air to both the gasifier and the

engine. The gasifier design concepts are also evaluated independently (Section 5.3).

A range of strategies for the energy integration of drying are proposed and evaluated, with
particular emphasis on CHP applications where the energy sources which may be used for
~ drying are also in demand for the export of heat. There is also a detailed examination of
the subject of feed drying in biomass gasification systems in general, covering both the
drying process and available drying technologies. [Note: the term biomass gasification
system is used throughout this thesis to mean any system for the production of power or

CHP incorporating biomass gasification].

The work is a consolidation and extension of tasks carried out by the author as part of a 3-
year European Commission JOULE project (JOR3-CT97-0130, “Reverse-flow Slagging
Gasifier”), in which Aston University is a partner together with Biomass Technology
Group (BTG), KEMA and Kara of the Netherlands and CIEMAT-CEDER of Spain. The
Reverse-flow Slagging Gasifier (RFSG) is a novel design concept originated by BTG, and
is described in Section 5.1.3. The design is evaluated through the use of models in Section
5.3. The primary aim of the JOULE project is to develop such a gasifier at pilot scale.
Aston University has responsibility for a number of aspects within the overall project
including the integration of drying, gasifier niodclling, operation of engines on low heating

value gas, and system techno-economic evaluation.

1.5 Thesis Structure

After the present introductory chapter, Chapter 2 describes the methodology used, and

Chapter 3 contains a review of previous system studies.
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Thereafter the thesis addresses individual system modules separately before going on to

address the system model and its application.

Chapter 4 addresses the dryer, discussing suitable dryers for a BGES before going on to
discuss the dryer sub-model. This chapter is supported by Appendix 1 - see below.

Chapter 5 then addresses the gasifier, discussing biomass gasifier design before describing

the gasifier sub-model and its application in an evaluation of the RFSG concept.

Chapter 6 then addresses the IC engine and discusses design and performance issues and

operational history, before describing the engine sub-model.

The remaining system modules to be included explicitly in the system model are addressed
in Chapter 7, with sub-sections given to reception/storage/screening, air oxygen

enrichment plant, heat recovery plant and product gas quench.

Chapter 8 describes the operation of the system model, including the integration of the
individual modules, and the calculation of overall system parameters (in particular
economic parameters). The chapter concludes by discussing the application of the model
in the study of the system concept, and how the results are to be presented. Chapter 9 then
presents and discusses the results of the study.

Finally conclusions are presented in Chapter 10, along with suggestions for further work.
There are two appendices. Appendix 1 contains a review of drying technologies for

biomass gasification systems in general. Apﬁendix 2 contains the system model

worksheets.
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2 METHODOLOGY

This chapter describes the methodology employed in carrying out the system study,
including the choice of system configurations and the rationale behind their selection, the
boundary conditions employed and process variables considered, and the basis of the

economic analysis incorporated into the system model.

Besides the gasifier and the IC engine, the BGES incorporates a dryer, an optional air
separation plant for oxygen enrichment, and (for CHP applications) heat recovery from the
hot product gas, the engine exhaust and the engine cooling system (Figure 2.1). The great
majority of engine-based CHP systems export heat as hot water [23], as the energy in the
engine cooling water circuits whose temperature is usually too low for the production of

steam may then be effectively utilised [24] (see Section 6.1.1.4). This is assumed here.
Each of the blocks in Figure 2.1 represents a system module (Section 2.2).

2.1 Sources of Surplus Energy in a BGES

The primary energy pathway in a BGES is from chemical energy in solid biomass to
gaseous chemical energy via the process of gasification, thence to mechanical energy in an
IC engine and finally to electrical energy in an electrical generator. At various points in
the system, however, energy is available which cannot contribute directly to the production
of electricity, but which can be used for evaporative drying, or in the case of CHP

applications water heating. These energy sources are the following (Figure 2.2):

o surplus biomass (undersize particles unsuitable for supply to the gasifier),

combusted to generate hot exhaust gas (chemical energy)
e hot gasifier product gas, cooled prior to the IC engine inlet (thermal energy)
¢ hot exhaust gas from the IC engine (thermal energy)

e Hot coolant from the IC engine cooling circuits (thermal energy)
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It is also possible to reclaim heat from the dryer exhaust, but for the types of dryer suited to
a BGES (Section 4.2) the exhaust would be a mixture of gas and vapour, and as a result the
heat exchanger would be large and expensive. If the reclaimed heat were used to heat
water, the temperature of recovery would be limited to around 50°C (Appendix 1 Section
A1.3.2) - too low to contribute to the heat load considered here, which is a district heating
scheme with a return temperature of 50°C (Section 2.4). If the reclaimed heat were used to
heat air, then this air would have to be used as the gasification agent (supplying heated air
to the IC engine would result in a fall in volumetric efficiency - Section 6.1.1.2), and the
maximum heat that could be supplied to the gasifier in this way would be less than 1% of
the thermal input to the gasifier from the biomass. Dryer exhaust heat recovery is therefore
not considered further.

Three uses are considered for the _avaiiable energy. These are:

e high-temperature low residence time drying using a mixture of hot combustion

products and ambient air as the drying medium
e low-temperature long residence time drying using heated air as the drying medium

e for CHP applications, the export of heat to a district heating scheme in the form of
hot water (Section 2.4).

The reasons underlying the choice of drying media are discussed in Section 4.2 and

Appendix 1.

Table 2.1 shows the means of utilising each of the four energy sources for the three uses
defined. Those cells shaded grey in Table 2.1 denote utilisation routes which are not
examined in the present work, because there are clear reasons why they would always be

rejected in favour of other options. These reasons are discussed below.

The remaining utilisation routes are all examined; the italicised figures denote the relevant

_system configuration numbers (see Table 2.2).
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Table 2.1 Utilisation of energy sources in a BGES

(grey cells: not considered in this study,

italic numbers: system configuration in Table 2.2)

UTILISATION ROUTE
ENERGY _
SOURCE Drying Drying Hot water
(combustion prod.) (heated air) generation
via biomass bumer,
Surplus via biomass burner | via biomass burner, o
. gas/liquid heat exch.
biomass 7-12 gas/gas heat exch.
7.9 11
Productgas | via ;g'as/gaé
(thermal) heat exchanger via gas/gas
via gas/liquid
Hot engine direct heat exchanger g
heat exchanger
exhaust gas 1-12
1,3,5,7,9 11, 183,
. via liquid/gas 15,17
Hot engine !
not possible heat exchanger
coolant
13-18

Most of the rejected utilisation routes require gas-to-gas heat exchange. This tends to be
expensive, requiring large heat exchange surface areas. Problems of cross-leakage or

external leakage arise if a rotary regenerator is used, which is the cheapest and most

effective option for gas-to-gas heat exchange of this type [25].

Exhaust gas from the IC engine or the biomass burner can be used directly for drying
rather than by heating air via a heat exchanger. If heated air drying is required, it is better
provided from the IC engine coolant radiator, which is a necessary part of the engine

installation for all configurations (Section 6.2.3.2).

As regards the use of hot product gas for drying, there is the risk of leakage of a flammable

gas either into the atmosphere or into the drying air stream, representing both a hazard and

an energy loss.
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Finally, the heating of combustion products using the IC engine coolant is not possible, as
the maximum coolant temperature will always be less than the combustion products

temperature at entry to the dryer (see Sections 6.2.2 and 7.3.2.1).

As Table 2.1 shows, sensible utilisation routes exist both for drying and for CHP for each
of the four energy sources except the thermal energy of the product gas. The optimal
allocation of energy between these competing demands in CHP applications is a key point

for consideration.

It is assumed here that all of the product gas in a given system is used to produce electricity
for sale to the local grid, and that the customer for the heat in a CHP application is able and
willing to purchase all of the heat offered by the system. In real CHP applications where
the heat demand is likely to be prescribed and variable over time, it may make economic

sense to combust some of the product gas directly for the production of heat.

2.2 System Modules

The BGES model (referred to henceforth as the “system model”) is a spreadsheet model,
~ with individual linked worksheets containing sub-models of the various system modules

(Figure 2.1). A justification for the choice of a spreadsheet model is given in Section 8.1.

The system model contains the following module sub-models (see Figure 2.1), which in
various configurations allow the energy integration options of Table 2.1 to be evaluated, as
well as the relative performances of the slagging and non-slagging gasifiers and the merits

of using oxygen-enriched air both in the slagging gasifier and the IC engine:
e Reception/storage/screening
e Biomass dryer
1. Rotary dryer (combustion products)

2. Rotary dryer with burner — (combustion products)
3. Band dryer (heated air)
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e Air oxygen enrichment plant

e Qasifier
1. Slagging gasifier (Reverse-Flow Slagging Gasifier - RFSG)
2. Non-slagging gasifier (Updraft Gasifier with External Tar Cracking - UGETC)

e Product gas quench (including waste water treatment)
e IC engine

e Heat recovery

1. Product gas heat recovery (water heater)

2. Engine coolant heat recovery (air heater - radiator)
3. Engine coolant heat recovery (water heater)
4

. Engine exhaust gas heat recovery (water heater)
e Grid connection
Reasons for the selection of the dryer types are discussed in Section 4.2 and Appendix 1.

Each of the module sub-models includes performance calculations where necessary, as
well as functions for capital and production costs relating to that system component (see
Chapter 8). Sub-models for the dryer, gasifier, engine and heat recovery plant modules
contain explicit process calculations; those for the remaining modules comprise
correlations of some process variable with costs and power requirements. For all system
modules excepting the gasifiers, sub-models are based on plant commercially available at
present. It is assumed that tar levels are sufficiently low from both gasifier types for

additional tar removal to be unnecessary (see Section 5.4).

2.3 System Configurations

A total of 18 basic system configurations are modelled, corresponding to the options of

three dryer types, two gasifier types, the optional use of air oxygen enrichment, and either
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power-only operation or CHP operation.

configurations show a hot water network connected to a heat load (the district heating
scheme); the rationale behind the network configuration is explained in Section 8.3. It is
also an option to select operation of the IC engine on either ambient or oxygen-enriched air

if an air separation plant is present (Section 6.2), but this option has been omitted from

Table 2.2 for clarity.

Key to Figures 2.3 - 2.14

RS

BS
RFSG
UGETC
PGWH
Qaw
ECWH
EEGWH

biomass

air or oxygen-enriched air
product gas
combustion products

hot water

optional plantitem

reception, storage, screening

buffer store

reverse-flow slagging gasifier

updraft gasifier with external tar cracking
product gas water heater

quench scrubber and waste water treatment
engine coolant water heater

engine exhaust gas water heater

Table 2.2 System configurations to be modelled
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Configuration

Air Separation

(Figure No.) Dryer Type | Gasifier Type Plant Output Type
1 (2.3) CHP
yes.
2 (24) power-only
RFSG
3 (2.3) CHP
rotary
4 (24) power-only
no
S (2.5) CHP
UGETC
6 (2.6) power-only
7 2.9 CHP
yes
8 (2.8 power-only
RFSG
9 27 rotary with CHP
10 (2.8) burner power-only
no
11 (2.9) CHP
UGETC
12 (2.10) power-only
13 (2.11) CHP
yes
14 (2.12) power-only
RFSG
15 (2.11) CHP
band
16 (2.12) power-only
no
17 (2.13) CHP
UGETC
18 (2.14) power-only
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2.4 Boundary Conditions and Process Variables

The system model includes the entire conversion system - that is to say, from the point at
which the feed is delivered (and payment made to the supplier) through to the point at
which electricity and/or heat is exported (and payment received from the customer).

The system is modelled as a stand-alone enterprise, selling electricity to the grid and, in the
case of a CHP application, heat in the form of hot water at 100°C and 1 barg to a district
heating scheme [26,27,28]. The return water from the scheme is assumed to be at 50°C
after the addition of any make-up water by the scheme [29]. Costs associated with piping
and associated equipment for the transportation of hot water from the boundary of the
system to the customer in a CHP scheme are not included in the system model; these costs
are assumed to have been met by the customer and are reflected in the price paid for the
heat (see Section 8.2.2). The system is assumed to operate continuously at an annual
capacity factor of 0.8 (total annual generation divided by that which could be achieved by
continuous running at maximum plant capacity), including an annual availability of 90%
(number of operating hours divided by total hours in year). These figures are arbitrary but

representative.

The broader the scope of the system model becomes, the more complex its construction
and operation (sece Chapter 8). It has therefore been decided to fix the biomass dry
composition and allow biomass moisture (both pre- and post-dryer), air oxygen content,
biomass input and biomass delivered cost to be the key process flow variables. The fixing
of biomass dry composition is justified in that this is remarkably constant for most raw (i.e.
chemically unconverted) woody or herbaceous biomass types, particularly purpose-grown

energy crops [30].

The actual biomass type has been chosen in consultation with the JOULE project group to
be short rotation coppice (SRC) poplar, in the form of whole-tree chips. SRC poplar is a
leading candidate for future energy plantations in Europe [31,32], and wood chips are well
suited in terms of size as a feed for fixed bed gasifiers (see Section 5.1.1). SRC poplar is
also fairly typical of a woody biomass in terms of composition and physical characteristics.

Table 2.3 gives the key properties of SRC poplar whole tree chips used in this study
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(referred to henceforth as the “standard” biomass); these have either been taken from the
literature or determined experimentally at the laboratories of CIEMAT-CEDER in Spain‘as
part of the JOULE project. The 0.4% by weight of nitrogen has been ignored for

modelling purposes, leaving a biomass molar composition (dry ash free) of CH; 5300 6.

Table 2.3 Properties of SRC poplar whole tree chips [33,34,35]

Chip volumetric mean diameter (mm) 30
Chips <10mm mean diameter (% wt) 15
Bulk density (kg/m’, dry) 135
Specific heat capacity (KJ/kgK, dry) 1.4
Volatile matter (wt% dry) 78.6
Fixed carbﬁn (wt%, dry) 19.1
Ash content (wt%, dry) 2.3
Carbon content (wt%, dry) 48.4
Hydrogen content (wt%, dry) 6.2
Oxygen content (wt%, dry) 42.5
Nitrogen (wt%, dry) 0.4
Lower heating value (MJ/kg, dry) 18.21
Lower heating value (MJ/kg, dry ash free) 18.64

Volumetric mean diameter ¢, is defined as:

.1)

where Va is the volume of the nth particle in a population of N particles. It is assumed that
only particles of mean diameter above 10mm are acceptable for a fixed bed gasifier (see

Section 5.1.1); those below this size must be removed prior to the gasifier.

Lower heating value (LHV) of a fuel refers to the heating value when the water in the
products is in the vapour phase; higher heating value (HHV) to that when the water in the
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products is in the liquid phase. Either can be used in a study such as this provided that the
basis is consistent throughout and the definition is understood. The LHV is used here. The
value quoted in Table 2.3 refers to moisture-free fuel; LHVs are quoted on this basis
throughout.

The key process variables have the following ranges associated with them:

e biomass feed rate: 0.5-2.0 dt/h, equivaleﬁt to 2.5 -10 MWy, thermal input (or about
0.5 - 2.5 MW, assuming an overall efficiency of 20-25%).

. biomaés delivered cost: £20/dt-£80/dt (unscreened). Rosch and Kaltschmitt [18]
give a current cost for chipped SRC poplar at the plant gate in the range 7.2-1.1.6
ECU/GJ (1998 prices), converting to £75-£145/dt. For a small-scale system,
transportation costs (included in these figures) would be at the lower end of the
range considered by Kaltschmitt, so that a sensible range of current cost for the
present application might be £75-£110/dt. With familiarity and technological
development in the growing of SRC poplar, and the availability of fiscal incentives
and subsidies, these costs would be expected to have reduced by the time a tenth
plant is built (see Section 2.5.2); if a range of possible cost reductions from 25% to
75% is considered, this translates into a cost range of about £20-£80/dt.

e biomass moisture content before drying: 50-100% db (this allows for varying
degrees of pre-delivery drying - see Appendix 1 Section A1.2)

e Dbiomass moisture content after drying: 10-50% db for the RFSG, 10-100% db for
the UGETC (see Sections 5.1.3, 5.1.4, Appendix 1 Section A1.5.2)

e air oxygen concentration: 21-60% by volume. The upper limit dictated by the air
separation technology would be 90% - see Section 7.2. However, the RFSG design
concept stipulates a maximum O, concentration of 60%, for reasons given in
Section 5.1.3, Higher air oxygen concentrations are considered in the gasifier

design evaluation study of Section 5.3.
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e capital cost (equipment cost) of the RFSG 1.0-1.5 times that of the UGETC (see
Section 5.4.2.1).

Standard atmospheric conditions of 15°C, 101.3 kPa and 80% relative humidity have been
assumed throughout. Ambient air is assumed to contain 21% oxygen by volume. Water is
assumed to have a constant specific heat capacity of 4.188 kJ/kgK. Polynomial
temperature functions have been used for the specific heat capacities of various gases, and

for the vapour enthalpy of steam at various pressures, based on a standard reference [36].
2.5 Economic Analysis

The base year for the study was chosen to be 1998, this being the year during which most
of the manufacturers’ cost data were collected. All cost data are therefore presented in

1998 GBE. The following exchange rates have been used:

e 1USS$=062GBE
e 1ECU (or€)=0.68 GB£

An inflation rate of 3% is assumed. This has been used to adjust all non-1998 cost data.
The project lifetime is taken to be 20 years. A nominal “cost of money” discount rate of

12% is used, in line with a recent UK government -review of renewable energy

technologies [5].
2.5.1 Capital Cost

The measure of capital cost used in the present work is total plant cost (T7PC), that is to say
the total amount of capital required to finance the total system to the point at which it is
ready to operate. 7PC may be calculated for each system module before a summation to
give the overall TPC; this allows the apportioning of costs between each module to be
easily extracted and is the practice adopted here.



The calculation of TPC begins with the purchase cost (delivered to the plant gate) of the
major plant items comprising each system module (the “equipment cost” - EC). It is
assumed that all plant items are bought new. Increments are then added for erection,
instrumentation, piping and ducting, associated electrical equipment, structures and
buildings, civil works and lagging, to give a direct plant cost (DPC). These increments are
often specific to the system module, direct plant cost is therefore calculated before costs of
the modules are aggregated. Engineering design and management overheads are then
added to give an installed plant cost (/PC), and finally commissioning costs, contractor’s
fees, interest during construction and a contingency element are added to give total plant
cost. These increments are less specific to system modules, being usually approximated as

fixed percentages of direct plant cost

Where cost data utilised in the present work were not in the form of total plant costs,
appropriate conversions have been performed. This has been done using factors published
by the IChemE [37] and adapted by Bridgwater [38]. For converting from equipment cost.

to direct plant cost, the following relationship was used:
ppC=EC(1+Y.C, C, EC®) 2.2)

where costs are expressed in US$ (1991), and values for the constants Cy, C; and Cj are
given in Table 2.4 [38]. The adjustment C; is unity unless selected otherwise.
Multiplication factors for the conversion of direct plant cost to total plant cost are given in
Table 2.5 [38,39].- A contingency of 10% has been selected, in line with a previous
comparable economic study [40], although the selection of a value is somewhat arbitrary
and values from 0% to 50% have been used [39].

For each module where equipment cost has to be converted to total plant cost in this
manner, a simplified relationship has been obtained by applying the factors described

above to a wide range of equipment costs and performing regression analysis on the results

to arrive at a power law expression of the form:

TPC = x EC’ 2.3)
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The power law form is sensible from consideration of Equation 2.2 which is a summation

of power laws, recognising that TPC is related to DPC by a constant multiplier.

Table 2.4 Equipment cost conversion factors [38]

Aston University

lustration removed for copyright restrictions
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Table 2.5 Conversion of direct plant cost to total plant cost [38,39]

Item Range Factor Used
Engineering, design and sﬁpervision 10-20% DPC 0.15 DPC
Management overheads 5-20% DPC | 0.1 DPC
Installed plant cost (IPC) 1.25 DPC
Commissioning 1-10% IPC 0.05 IPC
Contingency 0-50% IPC 0.11IPC
Contractor’s fee 5-15% IPC 0.1.1PC
Interest during construction 7-15% IPC 0.1 IPC
Total plant cost (TPC) | 1.35 IPC
1.69 DPC

2.5.2 Learning Effects

It is assumed that the aggregated total plant cost arrived at by the method thus far outlined
is equivalent to that of a first plant. A BGES may be regarded as a new process, and as
such its capital cost is likely to fall over time as more plants are built and experience
accuﬁmlated. A constant learning factor (LF), defined as the cost reduction (%) when
production is doubled, is a well-documented phenomenon in. process industries where
values of between 20 and 30 are commonly observed [41]. The same phenomenon is also
held to apply to plant replication, and has been used in the analysis of biomass gasification
systems [42].

Considering the ith and the jth plants, their total plant costs TPC; and TPC; are related by

the learning factor in the following manner:

In(1-0.01LF)

TPC i
b [J_J n2) 2.4)
TPC, \i |
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This ratio is referred to as the learning ratio (LR). A leamning factor of 20% has been used
in the present work [40, 42], so that:

i N 0322
R= e sl (2.5)
TPC, i

In order to allow for some maturation of the technology, the tenth plant has been chosen as
a basis for quotation. Therefore, a learning ratio of 10 or 0.476 has been applied to all
module costs to arrive at the reported values. This is felt to be a sensible choice for
enabling a comparison of BGES costs with those of mature (nth plant) technologies,
avoiding the over-pessimistic impression obtained from using first-of-a-kind costs while

not projecting too far into the future.

In practice, not all system modules will be at the same level of maturation. It might be
reasonable for example to regard biomass gasifier capital cost as first-of-a-kind, but
conventional IC engine capital cost as largely mature. On the other hand, IC engines
operating on low-CV gasifier product gas are largely unproven and widely viewed as
requiring substantial development. This study is primarily concerned with comparing
different configurations and operating points for a single plant type with the same basic set
of system modules. Differentiation between system modules on the basis of maturity is
therefore less important than if the main objective were to compare different plant types.
As the application of learning factors is highly subjective and inexact, a module-specific

approach is held to be unjustified.

Learning ratio is applied at the system module level prior to aggregation, so that a
breakdown of total plant cost (and ultimately electricity production cost) by system module
is straightforward.

2.5.3 Production Costs

Production costs on an annual basis are coniposed of operating costs, which comprise
feedstock costs, labour, utilities, maintenance and overheads, and a charge for capital. The

cost of electricity supplied can then be derived by dividing the production cost by the
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annual amount supplied in kWh to give a cost in p/kWh or £/kWh. Where heat is sold in a
CHP scheme, the revenue from the heat sales is first deducted from the production cost.
Feedstock cost is a key process variable in the present study (see Section 2.4). The plant
operator’s profit has been ignored, as this work aims primarily to compare system
configurations and operating points - hence the calculated cost of electricity is strictly a
break-even ‘cost of electricity. The remaining elements are discussed in the following

sections.

2.5.3.1 Annual Cost of Capital

In economic evaluations of investment decisions, it is normally assumed that the full
amount of the capital required to establish the project is borrowed, and must be repaid over
the loan period (although in practice lending institutions would expect a proportion of the
funds to be provided through equity). The loan period is often taken to be the lifetime of
the project. A fixed charge (FC) may be calculated, being the levelised annual amount
paid in nominal terms over the lifetime of the project which would be just equal to the
capital outlay when discounted to present values and summed using a discount rate d, also

known as the “cost of money”. FC is given by:

ﬂzd[w(l+f)' J 2.6)
TPC  \(1+d) -1

where / is the lifetime of the project (assumed the same as the loan rate). The fixed charge
is constant in nominal terms throughout the lifetime of the project. In order to give an
average annual cost of capital (4CC) in real terms, the present value of the series of FCs
must be calculated using an assumed inflation rate i, and the total divided by the project

lifetime:

_(FCY1\(a+i) -1
ACC'( ! ]U[ (+i)’ ] e

Combining Equations 2.6 and 2.7 gives an annuity factor AF, also known as a fixed charge

rate:
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Using an inflation rate of 3%, an arbitrary but representative project lifetime of 20 years

and a discount rate of 12%:
AF =0.0996 (2.9)

As with leamning ratio, annuity factor is applied at the system module level prior to

aggregation so that total production cost can be easily broken down by system module.
2.5.3.2 Labour

The labour requirement per shift is calculated for each system module (see relevant

sections).

Following previous comparable economic studies [39,40], a five shift arrangement is
assumed and the labour rate including social costs but excluding overheads is set at

£20,000 per person per annum.
2.5.3.3 Utilities

All power requirements are assumed to be met from the gross output of the plant (i.e. they
are parasitic). Power requirements for the dryer and the oxygen enrichment plant are
relatively large, and are calculated separately (see Sections 4.3 and 7.2). The remaining
parasitic power demand, covering fans, pumps etc., is taken to be 5% of the gross
generator output [40]. Utilities required for plant start-up (electricity, natural gas) have
been ignored.

The cost of make-up water in CHP schemes is assumed to be met by the heat customer.

The costs associated with cooling and seal water for air separation and with water for
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quenching are both calculated (see Sections 7.2.3, 7.4). The cost of water used is
£0.785/m> [43].

The cost associated with fuel requirements for on-site feedstock handling vehicles is
calculated (see Section 7.1).

2.5.3.4 Maintenance and Overheads

Annual maintenance and overheads (including insurance, taxes, rent etc.) are calculated as

a percentage of total plant costs.
Previous comparable economic studies of bio-energy systems have used values in the

range 1-4% for maintenance and 4-8% for overheads [16,39,40]; the present study

arbitrarily uses 4% for both in the absence of better information.
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3 PREVIOUS SYSTEM STUDIES
3.1 Introduction

This section carries out a review of the literature on system studies comparable to that of
the present work. Its purpose is to place the present study in context and demonstrate its
novelty, while also critically reviewing the approaches taken by other authors in similar
studies, and presenting key results from those studies for comparison with those of the

present work.

The present study involves the construction of a system model - that is a model of a multi-
element (or multi-module) process which aims to predict system outputs from system
inputs by representing the modules of the system and their interconnections. The system in
this case is an industrial process for the production of electricity (or combined heat and
power), taking as its input the delivery of a biomass feedstock from an external supplier,
and as its output the supply of electricity and heat to an external customer. A key feature
of the system is the upgrading of the feedstock by the process of gasification.

The scope of the review has therefore been defined as the modelling of biomass
gasification systems for power or CHP. This covers a reasonable number of studies with a
high degree of relevance to the present work. A further narrowing of scope might be
contemplated on the basis of scale (and by implication the choice of prime mover), but this
is considered too limiting as there have only been a small number of modelling studies

considering biomass gasification systems in the range 0.5-2.5 MW, based on IC engines.
3.2 Biomass Gasification System Studies

Biomass gasification system studies vary in form, depending on the particular study’s
objectives. These variations are usually to be found in the level of technical and economic
detail contained within the module sub-models (and therefore the range of input parameters
for which the system response can be tested). Previous studies have in general either
sought to compare the performance and/or the economics of different gasification-based
systems [e.g. 44,45,46,47,48,49], or to compare the performance and/or the economics of

gasification-based systems against other bio-energy systems [e.g. 39,40,50,51,52]. Most
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often these comparisons are performed either at the known design point of the systems in
question, or at some arbitrary scale selected for the purpose of the study. Less often,

comparisons are made across a range of scales.

Rarely however do these studies attempt to optimise the design and operating conditions of
the systems being compared, which is the principal concem of the present study. They are
concerned to develop accurate performance and particularly cost estimates for actual or
proposed systems, but they are not concerned with understanding or improving the design
of those systems. Even when design issues are addressed, studies are frequently limited by
resources to a small number of cases, particularly if specialised process flow software is

being used which can be costly to configure and run.

The most relevant previous studies of biomass gasification systems for power or CHP are

now discussed, grouped in subsections corresponding to the originating organisation.
3.2.1 Aston University

The Bio-Energy Research Group at Aston University in the U.K. has been active for many
years in the techno-economic analysis of bio-energy systems. For example, dedicated
models have been developed to analyse fast pyrolysis systems (BLUNT, [53]) and systems
for the production of liquid fuels from gasification (AMBLE, [54]). Both models include
technical representations of the key processes (in the form of mass energy balances) as
well as cost functions. At the time, the models were written in Fortran; today, they could

be more conveniently implemented on spreadsheets.

The key work considering biomass gasification systems for the production of electricity or-
CHP was carried out by Toft [40] between 1993 and 1995. In his PhD thesis, Toft presents
a thorough study of the techno-economics of four separate biomass-to-electricity systems,
two of which are gasification-based. The study aimed to compare the systems on the basis
of overall efficiency, capital cost and cost of electricity. The four systems considered were
combustion in a conventional steam cycle, atmospheric gasification with a dual-fuel IC
engine (i.e. a BGES), fast pyrolysis with a dual-fuel IC engine, and pressurised gasification

in a combined cycle.
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The system boundaries were from chipped wood feed (pre-transport), through to delivery
of electricity at point of connection to the grid. Each system was evaluated over a range of
scales from 1-100 MW,, with all other input parameters remaining fixed. Also, at selected
scales, feed costs were varied from 0-80 US$/dt and availabilities from 50-100%.
Sensitivity studies were also conducted of certain key parameters, particularly financial

parameters and component efficiencies.

A spreadsheet-based model was developed for the analysis. The model was intended to
compare very different systems on a consistent basis as a function of system scale, and not
to consider system design or optimisation. Representations of the various system
components were based predominantly on correlations developed from available
performance and cost data. The gasification process was not modelled; instead the gasifier
was represented by empirical correlations of cold gas efficiency and cost with biomass
input. While the data used to obtain these correlations was reliable, they were
insufficiently comprehensive to permit the effects of different biomass moisture contents to

the gasifier to be considered - one of the principal concerns of the present study.

The IC engine was represented in a similar way, using empirical correlations of efficiency
and cost with thermal input. In the case of the gasification combined cycle option, no
attempt was made to model the combined cycle; again, the model relies on efficiency and
cost correlations which are inevitably tentative as a consequence of the extremely limited

empirical data available at the time.

Because of these simplistic representations, the study made no attempt to consider the
effects of change in feedstock, gasifier operating conditions or prime mover operating'
conditions. Nevertheless, the cost analysis was thorough and great care was taken to
compare systems on a consistent basis. All capital costs of system modules are brought to
a common Total Plant Cost basis which includes equipment cost including associated
instrumentation and connections, installation, all engineering and contractors’ costs, and
-contingency. Leaming effects are also treated thoroughly, with the more novel
technologies treated both on a current-cost and future-cost (10" plant) basis, and with
learning effects applied both at a system level and in some cases at a component level.

This rigorous treatment is important when comparing different systems with widely
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differing levels of technological maturity, as is the case here, although it is less important
in the present study for the reasons already discussed in Section 2.5.2.

A single biomass type was considered, namely a generic wood with a lower heating value
(LHV) of 19.3 MJ/kg dry and a nominal delivered moisture content of 100% db. The dryer
was assumed to be of the rotary type (Appendix 1 Section A1.7.3), delivering a fixed final
moisture content of 17.6% db. A fixed value of flue gas energy requirement per unit of
water evaporated was assumed, and a simple check was made to see whether sufficient was
available. Dryer capital cost was correlated empirically with biomass input and water

evaporation rate. Oxygen enrichment of the gasification air was not considered.

Some results for the BGES configuration are presented in Table 3.1. Unfortunately, the
smallest scale for which detailed data were presented was 5 MW, - rather higher than the
maximum of 2.5 MW, being considered in the present study. All costs are on a 1995 basis.
Capital cost was a total plant cost (see Section 2.5.1). Feed cost before transport was 40
USS$/dt, discount rate was 10%, plant availability was 90% and load factor was 1.0. Diesel
consumption in the dual fuel engine was 5% of total thermal input.

Table 3.1 BGES performance and cost - Toft [40]

Aston University

Nlustration removed for copyright restrictions

For a feedstock cost of 80 US$/dt, the cost of electricity from a 5 MW, system (1* plant)
rose to 0.213 US$/kWh. At a system size of 10 MW,, a 10% increase in feed moisture
content (to 110% db) resulted in a 0.91% increase in cost of electricity, while a 10%

reduction in feed moisture content (to 90% db) resulted in a 0.78% drop in cost of
electricity.
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Toft’s model was subsequently incorporated into the Bioenergy Assessment Model
(BEAM) developed under the IEA Bioenergy Agreement, Tasks IX and X [55,56]. BEAM
extends Toft’s model to consider the complete biomass production process (rather than
simply allocating a feed cost as in Toft’s model), and also to consider biomass-to-ethanol

systems.
3.2.2 Electric Power Research Institute

In 1992 the Electric Power Research Institute in the United States initiated an in-depth
strategic analysis of biomass and waste fuels and power technologies, in order to develop
consistent performance and cost data and to identify market deficiencies and opportunities
[50,57,58]. The systems analysed include co-firing with coal in utility boilers, stoker
boilers fired with wood, municipal solid waste and refuse-derived fuel, wood-fired
circulating fluid Bcd boilers, the Whole Tree Energy concept, and wood-fired gasification
combined cycle. These are compared with coal-fired boilers and natural gas combined

cycle.

The performance/cost analysis was carried out using a spreadsheet-based techno-economic
model, BIOPOWER. BIOPOWER contains individual spreadsheets for each technology
option, in which data are entered and calculations performed. Performance is calculated
from energy/mass balances, sometimes combined with performance correlations (as for
example with the gas turbine). Economic parameters from correlations established by the

EPRI investigators.

The biomass gasification system analysis considers two combined cycle technologies, each
at a scale of 100 MW, - a current technology option using an industrial gas turbine, cold
gas clean-up and a wood-fired rotary dryer, and an advanced technology option using an
aeroderivative gas turbine, hot gas clean-up and a direct-contact steam dryer. The gasifier
is modelled assuming equilibrium of the water-gas shift reaction and a specified product
gas temperature, together with a specified char conversion efficiency and a specified tar
production. The wood-fired dryer does not make use of the flue gases from the combined-
cycle heat recovery steam generator; it has a dedicated combustor burning wood and

gasifier char. The steam dryer takes superheated steam from the heat recovery steam
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generator at the appropriate temperature and pressure, and returns saturated steam to the

heat recovery steam generator afterwards.

The study uses a total plant cost including major equipment, installation, general facilities,
land and civil works, engineering (10% of installed equipment) and contingency (15% of
installed equipment). The intention of the study was to evaluate the technical and
economic status of the evaluated technologies at the time of the study, so that current costs

are used throughout with no consideration of learning factors.

In their summary of the EPRI analysis, McGowin and Wiltsee report costs of electricity of
9.5 USc/kWh and 6.9 USc/kWh for the current and advanced options respectively (1994
prices), for a wood cost of around US$41/dt at a delivered moisture content of 50% db.
This compares with a cost of electricity of 3.9 USc/kWh for natural gas combined cycle.

The BIOPOWER model is thorough and easily understood. It relies heavily however on
user input data (for example to specify component efficiencies) and uses relatively simple
representations of processes. There are no options for different equipment types within
each system, and there are no attempts reported to optimise the design of the individual
systems in any way. In particular, the influence of biomass moisture content on the
gasification process and the economic consequences of drying have not been addressed.
Also the study was aimed at large-scale systems, and no attempt was made to apply the

methodology to systems anywhere close to the scale range of the present study.
3.2.3 Energy Options Ltd.

Heaton [59], working for Energy Options Ltd, a small U.K. consultancy, carried out a
study for DGXII of the European Commission between 1986 and 1987, with the objective
of evaluating the technology, application and economic viability of systems in the range 1-
6 MW,. He chose therefore to restrict the study to BGESs, incorporating both downdraft
and fluid bed gasifiers and both SI and dual fuel CI engines. Six systems were evaluated,
covering a range of scales and gasifier-engine combinations. As part of the study, two
separate Fortran models were developed, one to determine performance and one to
determine costs; however, these models relied on correlations of empirically-derived

overall process parameters - none of the component processes was modelled analytically.
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Each of the six configurations was modelled at a single design point only, as dictated by
the limited empirical data utilised. This was sufficient for the purposes of the study which
was principally to establish the economic status of such systems. However, without more
empirical data (which were probably unavailable in any case) it would not have been
possible to vary process parameters such as biomass moisture content to the gasifier, which
are of particular interest in the present study.

The feedstock was wood chips (type unspecified), with a delivered moisture content of
35% db. This is a rather low figure for virgin wood, even allowing for on-farm drying, and
appears to be a compromise between SRC sources and dry waste-wood sources (although
this is not explicitly stated). A rotary dryer was assumed with an exit moisture content of
25% db.

Some results are summarised in Table 3.2. The delivered feedstock cost was £35/dt, plant
availability was 94.7% and average load factor 0.75. Costs are 1986 values.

- Table 3.2 BGES performance and cost - Heaton [59]

Aston University

Nlustration removed for copyright restrictions

Capital cost is described as “installed”, but no definition is given in the published report.
Data have been obtained from manufacturers where possible. It is also unclear whether
any learning factor was applied, whether efficiency was on a lower or higher heating value

basis, and what discount rate was used, as appendices which may contain some of these
data could not be obtained. All costs are on a 1986 basis.
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3.2.4 National Renewable Energy Laboratory

The National Renewable Energy Laboratory in the United States have carried out a number
of modelling studies of biomass gasification systems over recent years, usually considering
large scale systems and using the ASPEN PLUS process simulator to calculate system
performance. ASPEN PLUS is widely used for system performance studies in all process
industries and is becoming popular for the modelling of power generation systems.
However, it is best suited to large-scale systems with high levels of complexity. Its merits,

particularly with regard to suitability for the present study, are discussed in Section 8.1.

Craig and Mann [44] used ASPEN PLUS to determine the efficiency and cost of the
production of electricity only, in large scale (>30 MW,) biomass integrated gasification
combined cycle (BIGCC) systems. The aim was to establish the status of such systems,

not to explore their design characteristics.

Three BIGCC systems were analysed; one incorporating a pressurised fluid bed gasifier,
one incorporating an atmospheric fluid bed gasifier, and one incorporating a twin-bed
indirectly heated gasifier. In the case of the pressurised fluid bed gasifier and the twin-bed
gasifier, operational data available from product development units were regressed to
construct user-specified gasifier models within ASPEN PLUS for gas yield, composition
and temperature. In the case of the atmospheric fluid bed gasifier, no data were available
and the gasifier was modelled within ASPEN PLUS as a quasi-equilibrium reactor with
fixed reactant ratios taken from a comparable system. This is likely to have resulted in
inaccuracies, as equilibium assumptions when applied to fluid bed gasifiers (particularly
short residence time circulating types) tend to result in an underestimation of methane

content and an overestimation of cold gas efficiency.

Within the three basic systems, a number of alternative configurations were evaluated
including two specific gas turbine types and two product gas cooler types. Not all options
were modelled for all systems. The biomass feedstock was either maple or poplar,
depending on the gasifier type. Feedstock composition and flow rate were fixed for each
gasifier-turbine combination. The flow rates were selected to give the product gas flow
required to achieve the turbine design firing temperature. Air oxygen enrichment was not

considered.
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A rotary dryer was assumed, with a fixed final moisture content of 12.4% db for the
pressurised and indirectly heated gasifiers and 20.5% db for the atmospheric gasifier. The
drying medium was flue gas from the heat recovery steam generator, combined with the
products of combustion from a small dedicated biomass combustor as required, and mixed
with ambient air to achieve a fixed dryer inlet temperature of 204°C (deemed low enough
to avoid the risk of fire). |

As part of the study, a separate investigation of the effect of feedstock moisture and air
pre-heat on the performance of the indirectly heated twin-bed gasifier was carried out. In
this gasifier, char from the gasification reactor is transported to a separate combustion
reactor where it is burnt in air, thereby heating sand which is returned to the gasification
reactor as the source of heat for steam-only gasification. It was concluded that a moisture
content of higher than 12.4% db could be used while still maintaining the temperatures
necessary for gasification; however this option was not explored using a full ASPEN

PLUS simulation.

Economic analyses were carried out of the various system configurations, assuming the nth
production plant (i.e. mature technology). The base year for costing was 1990. Capital
costs were based on actual equipment costs where possible; elsewhere they were capacity-
factored from actual equipment costs. A total plant cost was used including installed
process plant equipment cost, general facility costs (10% of process plant cost),
engineering fees (15% of lproccss. plant cost) and contingency (16.5% of process plant

cost). A plant capacity factor of 80% was assumed.

Net power outputs were in the range 55-132 MW,, and net system efficiencies (LHV basis)
were in the range 35-40%. Total capital costs were in the range 1100-1700 US$/kW
(1990), and electricity costs were in the range 0.051-0.063 US$/kWh (1990), based on a
biomass gate cost of 42 US$/dt.

The techno-economic analysis of the system incorporating a twin-bed indirectly heated
gasifier (specifically the Battelle/FERCO gasifier [60]) carried out by Craig and Mann was
updated in 1997, and incorporated in a detailed life-cycle analysis of a conceptual BIGCC
installation based on the Battelle/FERCO gasifier (Mann and Spath [61]).
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3.2.5 Princeton University

The Center for Energy and Environmental Studies at Princeton University in the United
States has been active in the area of bio-energy systems analysis for many years, and has

produced many publications.

In a techno-economic study of biomass gasification combined cycle systems featuring
aero-derivative gas turbines by Consonni and Larson [47,48], three systems were
compared, one based on atmospheric air-blown fluid bed gasification (the TPS gasifier),
one on pressurised air-blown fluid bed gasification (the Bioflow gasifier), and one on twin
fluid bed gasification (the Battelle/FERCO gasifier). The feedstock was a generic wood
with a moisture content of 100% db, dried to about 18% db in each case in a rotary dryer
using the gas turbine exhaust gases after the heat recovery steam generator. The systems
“were modelled at net power outputs in the range 25-30 MW,, a scale more suited to
European applications than that adopted for the EPRI and NREL studies referred to above.

An internally-developed flowsheeting code [62] was used for the performance analysis.
The gasification process was not modelled; instead a product gas composition was
assumed from manufacturers’ data, and a mass/energy balance performed. Overall
efficiencies in the range 41-45% were obtained (LHV basis) - high compared with other

studies, reflecting the higher efficiency of the aero-derivative gas turbines.

Costs of electricity were calculated only in a very approximate way and few details are
given. Values in the range 4.9-5.7 USc/kWh are quoted.

A study by Hughes and Larson [63] looked at the effect of biomass moisture level both at
delivery to the dryer and delivery to the gasifier on overall performance in a wood chip
fired combined cycle power plant of about 40 MW,, with a pressurised circulating bed
gasifier and a flue gas dryer using the exhaust gas from the heat recovery steam generator.
The study was concerned only with the effects on cycle power output and efficiency, and

did not consider costs.
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Again, the centre’s internally-developed flowsheeting code [62] was used for the
performance analysis. The pressurised fluid bed gasification process was not modelled in
detail as reactions are far from equilibrium. Instead, a constant gasifier temperature was
assumed, and a mass/energy balance performed to calculate the product gas flow rate for
feeds of different moisture content. A measured product gas composition was used for the
15% moisture cases. At all other moisture contents the composition had to be estimated;
however, it was shown that this did not affect product gas heating value or cycle efficiency
significantly.

Some results are presented in Figure 3.1. Overall system efficiency (HHV basis) is plotted
against wood moisture content to the gasifier, for five different pre-dryer wood moisture
contents.

Aston University

lustration removed for copyright restrictions

Figure 3.1 Effect of feed moisture content on system overall efficiency [63]

There is an improvement in system overall efficiency for any decrease in the feed moisture
content to the gasifier at a given pre-dryer moisture content. At a given feed moisture
content to the gasifier, there is an improvement in efficiency with reducing pre-dryer
moisture content up to the point where there is a surplus of heat remaining in the heat
recovery steam generator exhaust gas which cannot be utilised elsewhere.
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3.2.6 Technical Research Centre of Finland (VTT)

The Technical Research Centre of Finland (VTT) has been active in the techno-economic
assessment of bio-energy systems for many yéars, and is one of the leading centres in this
area having conducted many studies [ e.g. 39,46,64,65,66,67]. The centre has developed a
strong competence in the application of the ASPEN PLUS process simulator to bio-energy
systems in general and biomass gasification systems in particular, and most published
studies involve its use. Two studies are of particular interest as they include consideration
of BGESs, and these are now discussed.

In a study conducted within the IEA Bioenergy Agreement, Solantausta et al [39,66] aimed
to model and evaluate the cost and performance of new power production concepts
employing woody biomass as fuel. A total of fifteen gasification-based cases were
modelled using the ASPEN PLUS process simulator. These covered a capacity range of 5-
60 MW, and included atmospheric and pressurised combined cycles, a steam-injected gas
turbine (STIG) cycle and a BGES cycle. Both power-only and CHP modes were
considered for most configurations (although not for the BGES, which was power-only).

Each power-only configuration was modelled at two or three capacities, using flue gas
drying in each case. The CHP cases were all modelled at 30 MW,, but those cases
incorporating pressurised gasification (combined cycle and STIG) were run with both flue
gas and steam drying options. Flue gas drying assumed a rotary dryer; steam drying
assumed a prcssurised fluid bed dryer (Appendix 1 Section A1.7.5.1).

A single wood feedstock was used for all cases, with a moisture content of 100% db. Both
dryer types delivered a final moisture content of 17.6% db. These moisture contents were
not varied at any stage of the investigation. Two gasifier product gas compositions were
used, one for atmospheric and one for pressurised gasification. These did not vary from
one case to the next. It does not appear that a gasification model was used; however no
details were given as to how the gas compositions were obtained. Oxygen enrichment of

the gasification air was not considered.
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Two BGES cases were run, one at 5 MW, and one at 25 MW,. Each incorporated an
atmospheric air-blown fluid bed gasifier and a dual fuel diesel engine. Diesel pilot flow

was around 9% of total thermal input in each case. Results are given in Table 3.3.

Costs are on a 1994 basis, assuming a feedstock delivered cost of 50 US$/dt, an
availability of 57%, a load factor of 1.0 and a discount rate of 5%.

Table 3.3 BGES performance and cost - Solantausta et al [39]

Aston University

Hlustration removed for copyright restrictions

Where flue gas and steam dryers have been compared (i.e. 30 MW, CHP schemes), the
steam dryer configurations were found to give more heat recovery at increased overall
capital cost. The greater heat recovery arose because the moisture evaporated in the steam
dryer could be condensed to heat water for a low temperature district heating scheme. No

specific information was given on dryer costs.

The second, more recent stua;ly to consider BGESs was also carried out within the IEA
Bioenergy Agreement, and considered small-scale biomass power and CHP production
concepts. Solantausta and Huotari [67] compared a Rankine steam boiler plant system
with a BGES and with a diesel engine/fast pyrolysis system. In each case, ASPEN PLUS
was used to calculate the performance of the system, with an economic analysis carried out
subsequently. No details are given of the models used for each process step. The systems
for power production were compared at 2 MW, output; the systems for CHP were
compared at 6 MWy, output.

The analysis of the BGES considered two variants, The current technology plant
comprised a flue gas dryer, a fluid bed gasifier with fluid bed tar cracker, and a modified
- natural gas spark ignition gas engine. The future technology plant comprised a silo dryer
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(presumed hot air), a fixed bed gasifier, “catalytic” gas clean-up (further details not given)
and a high-efficiency spark ignition gas engine designed for low heating value gas. The
reasons behind the choice of a fixed bed gasifier for the advanced system are not given.
Only a single operating point is reported for each configuration, based on a chipped wood
feedstock with Ua moisture content of 80% db delivered and 25% db after drying.
Efficiencies are given in Table 3.4.

Table 3.4 BGES efficiencies - Solantausta and Huotari [67]

Aston University

llustration removed for copyright restrictions

No information is given on cost analysis methodology, other than to state that “normal
practices in process and power generation industries” are used. Table 3.5 gives cost of
electricity (1999 prices) obtained for a range of feedstock costs. The plant capacity factor
is 0.8, and the heat is sold to a district heating network. Unfortunately the assumed price

paid for heat is not made clear.

Table 3.5 BGES costs of electricity - Solantausta and Huotari [67]

Aston University

lustration removed for copyright restrictions
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The large improvement in cost of electricity for CHP schemes over power-only schemes is
due much more to the scale of the plant (about S MW, compared to 2 MW,) than to the

price received for the heat.
3.2.7 University of Ulster

The Centre for Energy Research at the University of Ulster has developed its own process
flowsheeting package, ECLIPSE, for technical and economic evaluations of chemical and
related processes. This has been applied by Mcllveen-Wright et al [51,68] to a techno-

economic evaluation of various systems for the production of electricity from wood.

The systems considered in detail were combustion with steam cycle, BIGCC, gasification
with simple cycle gas turbine, gasification with steam-injected gas turbine and gasification
with IC engine (BGES). Simulations of natural gas combustion in simple and combined

cycle gas turbine systems was also carried out for comparison.

Eclipse contains capital cost functions for standard items, but costs for non-standard items
have to be estimated based on data from external sources. A total plant cost basis is used
including equipment cost, installation, civil works and “indirect” costs. No attempt is

made to consider learning factors; “best available” cost estimates are used throughout.

In the case of the BGES simulations, a fixed-bed air-blown downdraft gasifier is assumed,
but no information is given on how the gasification process is represented in the model. A
dryer using engine exhaust gases has been included in the simulation but no further details
are given as to representation. The IC engine is represented as a spark ignition gas engine
using data supplied by the Caterpillar company. The engine is simulated initially in stand-
alone mode with natural gas as a fuel to calibrate the engine model against supplied data,
and then with product gas at the same mixture volumetric flowrate. Details of the engine

model are not given.
A total of eight BGES cases were run corresponding to eight engine types of different

scale. There is no report of any operating parameter being varied other than biomass input

flow rate. Results are given in Table 3.6. All costs are 1992 values. Data for cost of
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electricity assume a delivered feedstock cost of £20/dt. The wood is delivered chipped,

with a pre-dryer moisture content of 100% db, but post-dryer moisture content is not given.

Table 3.6 BGES performance and cost - Mcllveen-Wright [51,68]

Power Engine Type Overall Capital Cost of

output efficiency cost electricity

MW, LHV) % | £/KW. p/KWh
0.17 Caterpillar 3408NA 22.6 1862 7.21
0.30 Caterpillar 3516NA 22.8 . 1872 4.90
0.15 Caterpillar 3408TA 26.6 1208 6.93
0.54 Caterpillar 3516TA 29.7 1606 6.46
0.83 Caterpillar 3606TA 242 . 1563 6.25
1.10 Caterpillar 3608TA 24.6 1625 6.39
1.66 Caterpillar 3612TA 25.0 1566 6.19
2.27 Caterpillar 3616TA 25.4 1520 6.04

Reasons are not given why the system based on the 3516NA engine exhibits such a low

cost of electricity compared to the other seven systems, but this appears erroneous.
3.2.8 Utrecht University and Netherlands Energy Research Foundation (ECN)

The University of Utrecht in collaboration with the Netherlands Energy Research
Foundation (ECN) has conducted a number of studies of biomass gasification systems

using ASPEN PLUS for process simulation.

As part of a European Commission Joule II programme, Faaij et al [69,70] carried out a
techno-economic study of a BIGCC system of about 30 MW,, supplying electricity only
and featuring an atmospheric air-blown fluid bed gasifier. ASPEN PLUS was used for
process simulation, and this aspect of the work is reported in greater detail by Van Ree et

al [45). The economic analysis was carried out separately.
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Three system configurations were considered: a base configuration with rotary dryer and
low temperature product gas clean up; the base configuration modified to have a pneumatic
conveying steam dryer (Appendix 1 Section Al.7.6.1); and the base configuration
modified to have high temperature product gas clean up. The three systems were modelled
with poplar wood as the feedstock (moisture 100% db). The base configuration was also
modelled with four other feedstocks: verge grass (moisture 150% db), organic domestic
waste (moisture 117% db), demolition wood (moisture 25% db) and an 80:20 mixture of

demolition wood and sewage sludge (moisture 25% db).

In each modelling case, only a single design point was calculated with no attempt to vary
operating conditions. The gasification process was not modelled; all the required
parameters (including product gas compositions for the different feedstocks) were based on
a manufacturer’s calculations. For both dryer types, a fixed final biomass moisture content
of 17.6% db was used for all feedstocks. In the case of the rotary dryer, the flue gas
temperature was specified to meet the drying requirement. In the case of the steam dryer,
the flue gas temperature was set to it’s minimum practical value, and the steam

requirement for the dryer was drawn from the steam turbine at the appropriate conditions.

Overall efficiency of the base configuration for the five feedstocks was found to range
from 34.3% to 39.1% (LHV basis). Use of a steam dryer was found to reduce overall
efficiency from 38.2% to 37.7% (LHV basis), due to the rotary dryer’s utilisation of low
grade heat which is rejected in the case of the steam dryer.

In the economic analysis, the scope of the capital costs presented is not clearly defined, but
includes equipment cost, civil works, control systems and engineering costs. Actual costs
from manufacturers or from comparable projects are used where possible. It is intended
that the final costs should be for a mature (n™) plant, so costs for the gasifier and tar
cracker (assumed 1* plant) have been reduced to compensate for the high engineering and
development element associated with 1% plants. All other obtained costs are assumed n™

plant.

Assumed feed costs were 42.9-50 €/dt (1995) for chipped poplar wood (forestry thinnings),
before transport. The corresponding cost of electricity was calculated at 0.062-0.085
€/kWh.
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3.3 Novelty

In light of the preceding review, the principal aspects of novelty in the present work are

summarised here.

Firstly, there are few examples in the literature of system performance/cost modelling
being applied to a BGES, or to any biomass gasification system at below 5 MW,. The only
broadly comparable analysis found which focuses exclusively on BGESs (1-5 MW,) was
that of Heaton [59]; however Heaton does not predict product gas composition in his
model, and cannot therefore consider the effect of different moisture contents or the effect
of oxygen enrichment on gasifier performance. The remaining examples where BGESs
have been modelled are studies where a number of systems are being compared (primarily
economically), and only a very small number of alternative configurations have been run
[39,40,51]; again, in none of these is the gasification process modelled in sufficient detail
to predict product gas compositions. The issue of energy integration within a BGES
(particularly w.r.t. the choice of dryer technology and the trade-off between drying and the

supply of heat in a CHP scheme) has therefore not been considered.

Only one modelling study has been found that considers the effect of different levels of
moisture in the gasifier feed on the overall performance of a biomass gasification system
[63], and that study was limited to efficiency and power output calculations for a large
combined-cycle power plant with a pressurised fluid bed gasifier. Cost aspects were not
considered. )

No studies have been found that consider quantitatively the effect of different levels of
gasifier air oxygen enrichment on the overall performance of a biomass gasification

system.
No studies have been found that consider biomass gasification systems incorporating a

gasifier operating under slagging conditions with air pre-heat, or evaluate comparatively

the performance of slagging and non-slagging biomass gasifiers.
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No studies of any kind have been found that consider the operation of IC engines fuelled

with biomass gasifier product gas and oxygen-enriched air.

Finally, no comprehensive studies have been found on the selection of drying technologies
for biomass gasification systems. While there have been reviews of biomass drying
technologies, these have tended either to be of limited depth as part of a broader review of

bio-energy technologies, or to be restricted to specific scales or applications.
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4 DRYER

This chapter deals with the biomass drying module of the BGES (see Figure 2.1). The
drying module receives wet biomass from the reception, storage and screening module

(Section 7.1) and passes dry biomass to the gasifier module (Chapter 5).
4.1 Summary of Dryer Options for a Biomass Gasification System

A review of dryers for biomass gasification systems can be found in Appendix 1. Six
categories of dryer were identified as being suitable for biomass gasification systems, and a
summary is presented in Table 4.1 giving the six categories, together with specific dryer
types within each category and some of their key characteristics. For each type, a

reference is given to the relevant section and figure in Appendix 1.

All of the dryer types listed in Table 4.1 have been used successfully in the past either for
biomass gasification system feedstocks or for materials sufficiently closely related for the
extrapolation to be made. All have particular advantages and Fligadvantagcs, and their
respective suitability will depend on the particular feedstock and various other features of

the bio-energy system in question, not least the scale.
4.2 Dryers for a Biomass Gasifier-Engine System

The two relevant features of a BGES for the identification of suitable drying technologies
within the general context of biomass gasification systems are its biomass throughput

range, and its biomass size requirement.

The scale range of interest here corresponds to a material throughput range of about 0.5-2
dt/h (Section 1.1). Taking the largest likely drying duty to be from 120% db to 10% db
moisture content, and the smallest from 40% db to 25% db, this gives a possible range of
moisture removal requirements of 0.06-2.2 dt/h, or more generally < 3 dt/h. The gasifiers
under consideration are of the fixed bed type, and as such will require feeds with particle
dimensions broadly in the range 10-100 mm (see Section 5.1.1).
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Table 4.1 Summary of dryer types for biomass gasification system feedstocks

Dryer Category Dryer Type Comments re use with biomass
- gasification system feedstocks

Batch through- Perforated floor bin Low capital cost. Low emissions.

circulation (Section A1.7.1, Figure | Uses low-grade heat, but wide

Al.10) variations in final moisture content.
Extent of drying limited. Batch -
system. Attractive at small scales.

Continuous through- | Band conveyor Moderate capital cost. Highly
circulation (Section A1.7.2.1, controllable. Emissions moderate to

Figure A1,12) low. Can use low-grade heat. Well
suited to fragile materials.

Rotary louvre Moderate to high capital cost. High

(Section A1.7.2.2, heat transfer rates. Emissions

Figure A1.15) moderate. High specific throughput.

: Best suited to fragile materials.
" Direct rotary Rotary cascade Moderate capital cost. Uses large

(Section A1.7.3, quantities of drying medium.

Figure A1.17) Potentially high emissions. Well
understood, low risk. Widely used at
medium to large scales

Indirect rotary Rotary steam-tube Moderate to high capital cost.

(Section A1.7.4, Moderate to low emissions. Best

Figure A1.19) suited to materials which cannot be
directly exposed to hot gases.

Fluid bed Conventional once- Low capital cost. Efficient heat

through transfer. Potentially high emissions.
(Section A1.7.5, Prone to bed instability problems,
Figure A1.20) especially where particle size
distribution wide. Suited to small
particles of uniform size.
Pressurised recycled Purpose designed for integrated
steam biomass systems. High capital cost.
(Section A1.7.5.1, Could be economical at larger scales
Figure A1.21) if recovered energy can be utilised.
Very low emissions.

Pneumatic conveying | Pressurised recycled Purpose designed for integrated
steam biomass systems. High capital cost.
(Section A1.7.6.1, Could be economical at larger scales
Figure A1.24) if recovered energy can be utilised.

Well suited to vapour recompression
techniques. Very low emissions.
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Of the dryer options listed in Table 4.1, the two pressurised steam dryer systems (the Niro
and Stork “Exergy” processes) can be ruled out on the grounds of scale. Both of these
processes are designed for much larger throughputs of 10 dt/h or more and would be
uneconomic at such a relatively small scale. Also, relatively small CHP systems
incorporating a reciprocating engine as the prime mover would export heat either as hot
water, or as very low pressure steam unsuitable for use in a dryer [24], so there would not
be a source of steam already available which could be tapped for drying. This therefore
makes any of the smaller-scale systems using steam as a heating medium unattractive (the
rotary steam tube dryer and the steam-heated band conveyor dryer). Finally, it is likely
that fluid bed dryers, while relatively cheap, would prove difficult to operate with feed

sizes in the range anticipated; 10 mm is often considered an upper limit.
The dryer types best suited to a BGES are therefore the following:

e Rotary cascade dryer (using either engine exhaust gas or combustion products from
a dedicated biomass burner) - Appendix 1 Figure Al1.17

e Band conveyor dryer (using either externally-heated air, engine exhaust gas or

combustion products from a dedicated biomass burner) - Appendix 1 Figure A1.12

e Perforated floor bin dryer (using either ambient or low-temperature externally-
heated air) - Appendix 1 Figure A1.10

A rotary cascade and a band conveyor dryer have been selected for the system modelling
study (Chapters 8 and 9). These are usually abbreviated in this study to rotary dryer and
band dryer.

The rotary dryer has already been used widely in biomass gasification and combustion
systems. It provides a drying option which can utilise as an energy source both the thermal
energy in the hot combustion products from the IC engine, and the chemical energy in the
surplus biomass via a dedicated burner (see the discussion of energy utilisation routes in
Section 2.1, and Table 2.1).
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The band dryer is a high residence time design using low-temperature air as the drying
medium (Appendix 1 Section A1.7.2.1), a type that has been recommended for biomass
gasification systems in a recent study [71]. This is effectively a continuous perforated
floor bin dryer. It provides a drying option which can utilise the relatively low temperature

IC engine coolant as an energy source (see again Section 2.1 and Table 2.1).

For both dryer types, performance and cost data have been gathered and analysed, and
spreadsheet-based models constructed for the “standard” biomass, as described in the

following sections.
4.3 Dryer Modelling
4.3.1 Rotary Dryer

4.3.1.1 Modelling Approach

Much detailed work has been carried out on the modelling of drying in rotary dryers
[72,73,74,75,76], often with the intention of resolving in detail the processes taking place
within the dryer. In the present study however, it is only necessary to resolve these
processes sufficiently to be able to determine the module inputs and outputs; information

relating to conditions within the dryer is not required.

The model will be used in scenarios where the biomass and gas conditions at inlet and
outlet are specified along with the desired biomass input. The required information is the
flow rate of gas, the electrical power demand and the delivered capital cost (“equipment
cost”) of the dryer. The calculation of the gas flow rate requires only an energy and mass
balance (with an assumption for heat loss from the dryer walls). Electrical power demand

and capital cost however require an estimation.

Dryer equipment cost EC; might reasonably be expected to be related to dryer size (i.e.
volume) for a given dryer type:

ECy = f(Vy) S @
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where V3 is dryer volume and fis a function to be determined. Dryer volume must then be
related to the available dryer performance parameters. This can be done using the concept
of an overall volumetric heat transfer coefficient. This approach has been often used for
rotary dryers and other types over the years [77], particularly by manufacturers who have
acquired large amounts of operational data on specific dryer designs. The approach
assumes that for a given dryer geometry, the dryer volumetric heat transfer coefficient U3

is a constant, defined as:

Uy= -y, 4.2)
Vs (T G3 "~ Tss)

where Tp; is the mean temperature of the biomass, T3 is the mean temperature of the hot

gas, and O3 is the heat flow to the drying biomass.

The concept works well for fixed dryer geometry; however, if geometry changes with scale
the volumetric heat transfer coefficient also changes. Some studies have attempted to
relate U,z to design features such as number of flights or bulk gas velocity for a range of
dryer designs, with varying degrees of success [77]. Here, the model is to apply to a single
fixed design of dryer where only the scale will vary, and these concerns do not therefore

arise.

However, for biomass drying U, can also be expected to vary with the absolute moisture
content of the drying material, because drying takes place entirely in the falling rate regime
(see Appendix 1 Sections A1.3.2 and A1.5.2). At a lower mean moisture content over the
drying operation, the mean drying rate will be lower, and the overall heat transfer
coefficient will likewise be lower, leading to a larger volume requirement. Therefore, in
Equation 4.2 U,; is assumed to be a function of X33, the mean biomass moisture content
during drying.

The relationships for capital cost and volumetric heat transfer coefficient may then be
combined, putting 1/U,; = g(X33):
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_ o) 98 f(Xp)
EC, = g{ T T, } (4.3)

The functions fand g must be determined from data from operating dryers.

It is reasonable to assume that electrical demand will be a function of dryer size, as the
main power demand is dryer rotation, As capital cost has been assumed to be a function of
dryer size (Equation 4.1), the electrical demand can be expressed in the model as a

function of capital cost. The function must again be derived from empirical data.
4.3.1.2 Acquisition of Performance and Cost Data

For all system components except the gasifier, the present study considers plant available
commercially today. A number of manufacturers of rotary dryers were therefore
approached with a request for perfonnahce and cost data against a set of scenarios covering
the scale range of interest. The “standard” biomass was specified (Table 2.3) - i.e. poplar
wood chips with a dry bulk density of 135 kg/m’ and a volumetric mean diameter of

30mm. The scenarios covered different moisture levels and throughputs.

The responses were evaluated, and a single respondent selected who was able to
demonstrate substantial experience of biomass drying, whose equipment costs were typical
and who had supplied the full range of data requested. This was the M.E.C. Company of
Kansas, USA, who have extensive experience in the supply of hog fuel dryers. The
~ principal data provided by M.E.C. are given in Table 4.2, including delivered capital cost
(equipment cost) for a dryer with and without an integral burner.

The system with integral burner (Figure 4.1) includes a post-dryer cyclone for the
separation of entrained fines, a post-dryer screen for separation of unentrained undersize
particles, a small grinder, a buffer store, a metering bin and a suspension bumer, the
exhaust gases from which are then mixed with quench air as necessary before either being

supplied to the dryer inlet or exported to some other point in the system.
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Table 4.2 Data for rotary dryer (M.E.C.) [78]

Aston University

llustration removed for copyright restrictions

Aston University

lustration removed for copyright restrictions

Figure 4.1 M.E.C. rotary dryer system with integral wood burner [78]
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4.3.1.3 Description ofModel

The model operates in two modes: without integral burner, and with integral burner.

§ 8

System without integral burner

In order to minimise drying costs, energy requirements and potential emissions
problems, only the biomass size fraction suitable for gasification is dried (>10 mm
mean diameter, see Section 5.3.1). The undersize fraction must therefore be removed
(15% by weight, see Table 2.3), so this mode of operation has a pre-screening stage
(Section 7.1).

For powcr;only cases (flow diagrams Figures 2.4, 2.6), the model calculates the flow
rate of engine exhaust gas at the engine outlet temperature, and the flow rate of
ambient quench air, such that the specified dryer duty is met and the dryer inlet
temperature does not exceed an upper limit of 300°C. This limit is necessary to
minimise the risk of fire or explosion, and has been set based on operators’ experience
(see Appendix 1 Section A1.5.4). If the flow rate of engine exhaust gas exceeds that

available, an error message is returned.

For CHP cases (flow diagrams Figures 2.3, 2.5), the model calculates the gas
temperature from the engine exhaust gas water heater (Section 7.3.2.1) at the full
engine exhaust gas flow rate, and the flow rate of ambient quench air, again such that
the dryer duty is met and the dryer inlet temperature does not exceed the specified
upper limit of 300°C. If the engine exhaust gas water heater outlet temperature
exceeds the engine exhaust gas water heater inlet temperature, an error message is

returned.
This system is referred to in this study as rotary dryer without burner.

System with integral burner

The biomass flow supplying the burner is taken from the dryer output stream, and
comprises all or part of the under-10mm size fraction which is too small to be supplied
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too the gasifier. Unlike in Mode 1, the undersize fraction passes through the dryer and

there is therefore no need for a pre-screening stage.

The under-10mm size fraction of unentrained dried biomass is separated by a post-
dryer screen and mixed with the cyclone fines. The fraction of this required by the
burner is then ground and supplied to the suspension burner; the remainder is disposed
of. In power-only cases (flow diagrams Figures 2.8, 2.10), this fraction is calculated
as the minimum necessary to meet drying requirements; the remainder is disposed of.
In CHP cases (flow diagrams Figures 2.7, 2.9), all of the separated biomass goes to the
burner, and the burner exhaust gases are then supplied first to the engine exhaust gas
water heater to increase hot water production directly before the combined burner and

engine exhaust flows pass to the dryer (see Section 7.3.2.1).

The model calculations proceed in the same way as for the system without integral
burner, except that in the power-only case the model also calculates the required
burner exhaust flow rate to the dryer, subject to the condition that the dryer size (i.e.

equipment cost) is minimised.
This system is usually referred to in this study as rotary dryer with burner.

In both modes there are three main parts to the calculation procedure, performed
simultaneously. The first part comprises specification or calculation of the gas conditions
at entry to the dryer. The model obtains the engine exhaust gas composition, flow rate and
maximum temperature from the engine model, and if the dryer is operating in Mode 2 a
combustion calculation is performed. The second part comprises an energy/mass balance
over the dryer, to give the required gas flow rates and/or temperatures. In the third part,
capital cost, utility requirements and labour requirements are calculated. In both modes, a

proprietary solver is employed to carry out the calculation.

Combustion Calculation

For Mode 2 operation (rotary dryer with burner) where supplementary biomass firing in an
integral combustor is required, a combustion calculation is performed. Complete

combustion of the biomass is assumed, at a fixed air-fuel equivalence ratio of 1.8
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calculated from data supplied by M.E.C. for their dryer suspension burner [78]. The
temperature of the exhaust gases is calculated from the following relationship:

mysAH + (T ~15)) (mgecgs) =0 4.4)

where mgs and cgs are the mass flow and specific heat capacity of the various components
of the exhaust gas (with cgs evaluated at the mean of the exhaust gas temperature and the
reference temperature of 15°C), T is the exhaust gas temperature (°C), mp;s is the biomass
flow rate to the burner and AH is the enthalpy of combustion at the reference temperature.
The quantity -AH is taken as equal to the lower heating value of the biomass (lower heating

value is conveniently quoted at a reference temperature of 15°C).

Energy/Mass Balance

Figure 4.2 shows the various quantities influencing the energy and mass balances, where m
denotes mass flow, H enthalpy, Y absolute humidity, X moisture content, and subscripts G
gas, B biomass, V water (vapour), W water (liquid). Q3 denotes the heat loss due to

radiation and convection from the dryer walls.

Dry gas: mg; Hg2 Dry gas: mg; Hgq

Vapour: mg3Ys2 Hy2 Vapour: meg;Yes Hya

Dry biomass: mgz Hg: Dry biomass: mga3 Haq

Moisture: mBJXQz sz MOiStU_l'e: mgasXes Hws

Figure 4.2 Rotary dryer energy/mass balance parameters

The mass balance may then be written:

My (Ygs = Yg;) = mpy (X 5y = X p5) _ 4.5)
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and the energy balance:

Mey(Hgy + Yo, Hyy ) +mpy(Hpy + X gy Hyy) =
mey(Hgy =Yg Hyy) tmyp (Hpy + X3 Hy )+ 0y (4.6)

Gas and liquid enthalpies may be calculated as ZcT, where ¢ for gases is evaluated
preferably at the mean of the inlet and outlet gas temperatures, or alternatively at the mean
of the gas temperature and a reference temperature of 0°C. Vapour enthalpies are taken

from the steam tables at 1 bar (also referenced to 0°C).

Equations 4.5 and 4.6 may be combined to give an expression for mg; in terms of data
input by the model user. Heat loss is specified as a fraction of total enthalpy in. Values of
6-10% were quoted by suppliers [78,79]; a fixed value of 8% has been set for all

calculations.

Both gas and biomass enthalpy (i.e. temperature) at dryer outlet must be specified in the
energy/mass balance. Companies providing data for the drying of wood chips in rotary
dryers gave biomass exit temperatures in the range 65-85°C and gas exit temperatures in
the range 100-120°C [78,79]. Values of 75°C and 110°C respectively have been adopted
for all study calculations. A gas exit temperature of over 100°C implies no limitation in
the vapour carrying capacity of the gas, so that drying medium saturation does not need to

be considered in the model.

Capital Cost

The form of the function to be used for deriving equipment cost was discussed earlier
(Section 4.3.1.1, Equation 4.3). From the equipment cost data in Table 4.2 and the
application of regression analysis, the following functions for equipment cost (EC;) were
derived for the dryer without integral burner:

EC, = f(X,,,)—-Qi’T—+93.2 4.7

Tas"' B3
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and for the rotary dryer with burner:

EC, = f(X,3)L+288.6 4.8) -
Toy —Th;s
where:
f(X5)=0971X,,7 -0.479X,,” +11.0 4.9)

Equipment cost is expressed in £'000 (1998), heat supplied in kW and temperatures in °C.

The form of the function f'is reasonable, implying a heat transfer coefficient that falls with
falling mean moisture content, and at an increasing rate as mean moisture content reduces.
Figures 4.3 and 4.4 shows plots of equipment cost against QOps/(TGs-Tps) and
f(X33)0s3/(Tc3-Ts3) respectively. The functions of Equations 4.7 and 4.8 are included in

Figure 4.4.
600
=)
- 400 4 A Rotary with burner,
§ AN (MEC)
= 3001 & X X X X Rotary without
e | burner (MEC)
S- 200 SO
g 1004 X
w
0 ] ] 1]
0 5 10 % = 20
Qg3/(Te3-Tas)

Figure 4.3 Cost vs. size for rotary dryer (without moisture function)

The average error in the calculated equipment cost using the functions of Equations 4.7
and 4.8 is just 0.7% for all cases.
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Figure 4.4 Cost vs. size for rotary dryer (with moisture function)

Finally the element of total plant cost attributable to the dryer module (7PC;, £000 1998)
is calculated using the following function derived as described in Section 2.5.1 using
Tables 2.4 and 2.5:

TPC, = 6.78 EC,*** (4.10)

Electrical Power Demand

Based on the data in Table 4.2, relationships for electrical power demand P; as a function

of equipment cost EC; were derived using regression analysis. For the dryer without
integral bumner:

P, =0.00179EC,* —0.158 EC; +17.6 (4.11)
and for the rotary dryer with burner:
P, =0.0015EC,* —0.633EC, +175.2 (4.12)

Capital cost is again expressed in £'000 (1998), and electrical power demand in kW.
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Labour

The labour requirement for a rotary dryer has been estimated at 0.5 persons per shift for a
single unit [80]. This figure has been used here, for dryers both with and without an

integral burner.

The worksheet for the rotary dryer is shown in Appendix 2 Section A2.2.
4.3.2 Band Dryer

4.3.2.1 Modelling Approach

For this dryer, as for the rotary dryer without burner, the undersize fraction of the delivered
biomass unsuitable for the gasifier is screened out prior to the dryer and rejected. Unlike |
that of the rotary dryer however, the performance of the band dryer operating on low
temperature air is highly sensitive to the gas exit temperature from the dryer because the
air is well below 100°C and may reach saturation. The gas exit temperature from the dryer
cannot therefore simply be estimated or assumed constant if not known, and a simple
mass-energy balance is thus insufficient to define the performance of the system. An
alternative approach was instead adopted which involvcﬁ the modelling of through-

circulation drying of a static layer of wood chips under a range of conditions. .

The modelling work was carried out by the Silsoe Research Institute (SRI) in Bedfordshire,
UK. Work at SRI had been reported by Nellist (see Appendix 1 Section A1.7.1) in which a
fully-validated grain drying model, XBATCH, was modified for the drying of wood chips
and applied to heated air batch drying of beds of various depths [35]. The work was
however limited to relatively low temperature air (25°C of heating above ambient), and
was also based on spruce and birch chips, for which detailed drying data were available at
the time. Since then data of a similar quality have become available for SRC poplar chips.
SRI were therefore asked to carry out a similar modelling exercise, only using poplar data
and a modified set of boundary conditions involving the use of air inlet temperatures up to

100°C [81]. The model is equally applicable to band systems provided the residence time
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of the wood chips is large compared with that of the air, as is the case here (hours versus
seconds). The work was fiunded by ETSU on behalf of the UK Department of Trade and

Industry, and results are presented in Section 4.3.2.3.
4.3.2.2 Acquisition of Cost Data

It was not possible to find a commercial mmufacturer willing to supply performance data
for drying biomass gasification system feedstocks using low-temperature air and long
residence times. A dryer of this type is currenﬂy being developed by Wood Processing, a
subsidiary of Border Biofuels Ltd, a UK bio-energy project developer. However, this
dryer is close to commercialisation and the company were unwilling to release

performance (or cost) data.

A number of manufacturers offer relatively short residence time thin-layer band dryers for
wood, and these were approached instead with a request for capital cost data against the
same set of scenarios used for the rotary dryer (see Section 4.3.1.2). The use of these data
is justified on the grounds that capital cost would primarily be a function of band area, with

only second order influences for residence time and layer depth.

As for the rotary dryer, the responses were evaluated and a single respondent selected who
was able to demonstrate substantial experience of biomass drying, whose equipment costs
were typical, and who had supplied the full range of data requested (including in particular
band area). This was Wolverine Proctor Schwartz of the UK, who_ supplied data for a
single stage single pass dryer using heated air, as illustrated in Appendix 1 Figure A1.12.
The data are given in Table 4.3.

4.3.2.3 XBATCH Modelling Exercise

The XBATCH program simulates one-dimensional through-circulation drying of a bed of
material of specified depth. The sub-models within the program include the relationship of
air-flow through the bed to pressure drop across the bed (and therefore fan power
requirement), heat transfer to and mass transfer from the particles, and equilibrium
moisture content. The model calculates the drying process in time steps until the specified
moisture content (averaged across the full bed depth) is achieved.
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Table 4.3 Data for band dryer (Wolverine, Proctor, Schwartz) [82]

Aston University

llustration removed for copyright restrictions

“Standard” poplar chips were specified (Table 2.3) with an initial moisture content of
100% db, along with the following boundary conditions:

* Fan pressure (i.e. pressure across the bed): 500 Pa, 1000 Pa

e Beddepth: 0.5m,1.0m

e Air inlet temperature: 50°C, 75°C, 100°C
¢ Final mean moisture content: 17.6% db, 42.9% db

Results for the 500 Pa fan pressure cases are given in Tables 4.4 (0.5 m bed depth) and 4.5
(1.0 m bed depth). In each case the total floor area and fan power is given for an
installation corresponding to approximately 2.1 MW,, assuming zero loading and
unloading time. The results for a fan pressure of 1000 Pa 1.0 m bed depth gave reduced
floor area requirements and drying times, but higher energy consumption and much larger
fan power requirements.

In all cases, there is a large variation in final moisture across the bed, with the chips at air
inlet dried to equilibrium levels and the chips at outlet often not dried at all. Thorough
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mixing of the chips after drying would therefore be required and this would require

provision of suitable intermediate handling and storage facilities.

Table 4.4 XBATCH results — 500 Pa fan pressure, 0.5 m bed depth

Air inlet temperature (°C) 50 50 75 75 100 | 100

Final mean moisture (% db) 17.6 | 429 | 17.6 | 429 | 17.6 | 42.9
Final max. moisture (% db) 449 | 99.6 | 54.3 .102.4 61.6 | 103.3
Final min. moisture (% db) 59 | 11.2 | 3.2 75 1.9 6.2

Drying time (h) 2.03 | 1.27 | 1.22 | 0.80 | 0.90 | 0.60
Air mass flow (kgs'm?) 0.917 [ 0.917 | 0.852 | 0.852 | 0.793 | 0.793
Heat input (kWm™?) 323 | 323 | 514 | 514 | 679 | 67.9
Evaporation rate (gs"'m™?) 844 | 9.40 | 14.1 | 149 | 19.1 | 19.8
Energy consumption (MJ/kgme) | 3.82 | 3.43 | 3.65 | 3.46 | 3.56 | 3.42
Total floor area (m%) -2 MW, | 40.7 | 36.5 | 243 | 23.0 | 18.0 | 17.3
Total fan power (kW) -2 MW, | 34.1 | 30.6 | 20.4 | 19.3 | 15.1 | 14.5

Table 4.5 XBATCH results — 500 Pa fan pressure, 1.0 m bed depth

Air inlet temperature (°C) 50 50 9 75 100 | 100
Final moisture content (% db) | 17.6 | 42.9 | 17.6 | 429 | 17.6 | 42.9
Final max. moisture (% db) 98.0 | 101.6 | 102.4 | 102.4 | 103.3 | 103.3
Final min. moisture (% db) 34 | 3.7 | 14 1.6 | 0.7 | 0.7
Drying time (h) 5.07 | 3.55 | 3.17 | 2.23 | 2.38 | 1.68
Air mass flow (kgs'm?) 0.650 | 0.650 | 0.603 | 0.603 | 0.563 | 0.563
Heat input (kWm™) 229 | 229 | 364 | 36.4 | 48.2 | 48.2
Evaporation rate (gs"'m™) 6.77 | 6.71 | 10.8 | 10.7 | 14.4 | 14.1
Energy consumption (MJ/kgme) | 3.38 | 3.41 | 3.36 | 3.42 | 3.35 | 3.41
Total floor area (m?) - 2 MW, 50.6 | 51.1 | 31.7 | 322 | 23.8 | 243
Total fan power (kW) -2 MW, | 30.1 | 304 | 18.8 | 19.1 | 14.2 | 144
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Energy consumption per unit of moisture evaporated varies between 3.82 and 3.35
MIJ/kgue, corresponding to thermal efficiency range of about of about 65-74% which
compares well with rotary dryers. Thermal efficiency improves and fan power and floor

area requirements reduce as air temperature is increased.
4.3.2.4 Description of Model

In order to minimise drying costs and energy requirements, only the biomass size fraction
suitable for gasification is dried (>10 mm mean diameter), so this mode of operation

requires a pre-screening stage (Section 7.1).

The model assumes heated air drying at a fixed inlet temperature, where the air has been
heated by heat exchange with the IC engine cooling water in a radiator. The radiator is
modelled separately (Section 7.3.3); the function of the dryer model is limited to
calculating the air flow requirement for a specified drying duty, and the capital cost, labour
requirements and utility requirements associated with the dryer itself. The model does not

require input from any other module sub-model.

The data for a fan pressure of 500 Pa and a bed depth of 0.5 m (Table 4.4) were used to
construct the model. The smaller bed depth was arbitrarily chosen because of the smaller

energy consumption and fan size.

Drying Time

The XBATCH program predicts that for a given chip type, bed depth and fan power, the
drying time #; (hours) is a function of the reduction in average moisture content Xp,-X34 (%
db) and the air temperature T4, (°C). At a given temperature, the results of Table 4.4 show
that drying time closely approximates a quadratic function of moisture removal
(remembering that (0,0) is a third data point for each temperature):

ta =A(X32_X34)2+B(X32_X_34) (4.13)

where 4 and B are functions of 7.
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From regression analysis, the following function is obtained:
t; =175T,, 2 (X gy = X 5) +0.399T,, (X 5, = X;,)  (4.14)

Figure 4.5 shows #, plotted against the RHS of Equation 4.14 for the two modelled drying
~ duties, 100% db to 42.9% db and 100% db to 17.6% db. The relationship is linear with

unity gradient.
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Figure 4.5 Drying time function

When used to predict the drying times calculated by XBATCH, the expression gives an
average error of 0.25%. It is however valid only at air temperatures of < 100°C, for the
“standard” biomass, and for the “standard” ambient humidity, these being the conditions
under which XBATCH was run.

By specifying the air temperature and desired initial and final mean moisture contents, the
drying time may thus be calculated. A fixed air temperature of 50°C was specified for all
modelling cases; this is dictated by the operating conditions of the engine coolant radiator
(Section 7.3.3). This relatively low temperature would present no risk of thermal
degradation of the biomass.
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Air Flow Rate, Fan Power, Capital Cost

With the drying time, the biomass throughput and the desired final moisture, the band area
may then be calculated. At a constant fan pressure of 500 Pa and a bed depth of 0.5 m, air
velocity onto the bed is constant at 0.84 m/s, and fan power per unit floor area is constant
at 839 W/m? Thus with floor area, total air flow rate and total fan power are simply
calculated.

The power requirement to drive the moving band is unknown, but is expected to be very

low (band speed is less than 20 cm per minute) and has therefore been ignored.

The data of Table 4.3 have been used to produce an expression for equipment cost EC;
(£000 1998) as a function of band area 4; (m?):

EC, =2.794, +52.2 | (4.15)

The data and the function are shown in Figure 4.6.
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Figure 4.6 Band equipment cost as a function of band area

The element of total plant cost attributable to the dryer module is calculated from
equipment cost using the same expression as that used for the rotary dryer (Equation 4.10).
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Labour

‘The labour requirement for a band dryer is assumed to be the same as that for a rotary

dryer, at 0.5 persons per shift.

The worksheet for the band dryer is shown in Appendix 2 Section A2.3.
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S5 GASIFIER

This chapter deals with the gasifier module of the BGES (see Figure 2.1). The module
receives dry biomass from the drying module (Chapter 4) and passes product gas to the
product gas water heater in CHP systems (Section 7.3), or to the product gas quench in

power-only systems (Section 7.4).
5.1 Biomass Gasifier Design
5.1.1 Biomass Gasifier Types

There are two categories of reactor design which are commonly used for the gasification of
biomass with air, namely fixed bed and fluid bed. In fixed bed designs, the bed of biomass
moves downward under gravity solely as a result of the consumption of solid material in
the reactions taking place within the gasifier (hence the alternative term “moving” bed). In
fluid bed designs, air is blown through the bed of biomass at sufficient velocity for the bed
to become fluidised, resulting in high heat transfer rates and efficient mixing. Different

fluid bed types are categorised by the velocity of the fluidising air.

Within these categories there is a wide variety of gasifier types which have been used for
the gasification of biomass, and comprehensive reviews of these may be found elsewhere
[83,84,85,86,87]. Figure 5.1 shows the configurations of the four main types, and Table

5.1 gives a summary of their characteristics for conventional air-blown operation [7,88].

Other types such as cross-flow or entrained flow gasifiers are rarely used today for the
gasification of biomass, although entrained flow reactors have found successful application

in the large-scale gasification of coal.

Fixed bed gasifiers are limited in the scale at which they can operate. Updraft gasifiers are
normally limited to thermal inputs of below about 30 MWy, by the need to achieve a
uniform flow of oxidant through the bed [18]. At larger sizes the flow tends to channel (to
form high-velocity passages directly through the bed). In the case of downdraft gasifiers
the upper limit to scale is much lower, around 3 MWy, thermal input, because of the critical

nature of the throat dimensions for bed behaviour [18]. A recent development in
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downdraft design, the unthroated or “open-core” downdraft gasifier [89,90], offers the
possibility of operation at larger scales with a wider particle size range and very low tar
levels due to the high uniformity of flow achieved. As yet, however, unthroated downdraft
gasifiers have been limited to scales well below 1 MWy, [89].

Updraft Downdraft

Ash  Oxidant Product gas + ash
Bubbling bed Circulating bed
Product gas
Gas, ash,
Product gas f bed material | Cyclone

Biomass Biomass
—
"\ Distrbuter <~ Y
_ Plate Ash
Ash  Oxdant Ash Oxidant

Figure 5.1 Principal biomass gasifier configurations

Fluid bed gasifiers are easy to scale up to very large sizes, the only limiting factor being
fuel admission to and subsequent distribution across the bed, which can present difficulties
in large diameter vessels. However, due to their increased complexity over fixed bed

types, they are usually uneconomic at scales below about 5 MWy, thermal input [18].

5.1.2 Low-tar Gasifier Designs, Biomass Input 0.5-2 dt/h

Tars (condensable organic vapours) are products of biomass pyrolysis, and may be viewed

as an intermediate product in the gasification process. In an ideal gasifier, in which the
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gasification reactions proceed fully to equilibrium, these condensable organic vapours
would be fully converted to permanent (non-condensable) gaseé, and the product gas
would contain no tars. However, the ideal of equilibrium operation is never reached, and
tars are present in the product gas to a level dependent on the design of gasifier and the

operating conditions.

Table 5.1 Characteristics of principal biomass gasifier types [18,88,83]

Fixed bed

Downdraft Biomass and gas move down (co-current).
Biomass particle size 20-80 mm (mean diameter)
Biomass moisture content 10-25% db

Thermal input <3 MWy, (typically 0.5-1 MWy,)

Updraft Biomass moves down, gas moves up (counter-current).
Biomass particle size 10-200 mm (mean diameter)
Biomass moisture content 10-100% db.

Thermal input 2-30 MWy, (typically 5-15 MWy,)

Fluid Bed

Bubbling bed Low velocity gas; bed predominantly inert material; most solid
remains in reactor

Biomass particle size 3-50 mm (mean diameter)

Biomass moisture content 10-100% db

Thermal input 5-150 MWy, (typically 20-50 MWy,)

Circulating bed | Medium-velocity gas; bed predominantly inert material; solid is
elutriated, separated and returned to reactor,

Biomass moisture content 10-40% db

Biomass particle size <15 mm (mean diameter)

Thermal input 5-250 MWy, (typically 20-50 MWy,)

From Table 5.1, the existing gasifier type most suited to applications in the biomass inﬁut

range 0.5-2.0 dt/h (thermal input range 2-10 MWy,) is the updraft or counter-current.
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Unfortunately, this is the type that produces the highest level of tars (condensable organic
vapours), with product gas tar levels exceeding 10 g/Nm® [21,22]. However, even the
product gas tar concentrations from throated downdraft (>500 mg/Nm®) or fluid bed
gasifiers (>1 g/Nm’) are likely to exceed by a substantial margin the levels demanded by
IC engines (<100 mg/Nm®) [22].

In order to achieve very low levels of tar in the product gas without having to resort to tar
removal (which would result in the loss of the fuel energy of the tar as well as a disposal
problem), the gasification process must be designed such that two conditions are met.
First, there must be sufficient residence time under suitable conditions of temperature and
mixing for the gasification reactions to approach equilibrium. Second, all products of
pyrolysis must be fully gasified before leaving the system. Of the existing types listed in
Table 5.1, the downdraft most closely approaches this ideal, with the gasification zone (the
char bed) at the end of the product gas path and higher temperatures and longer residence
times than the fluid bed reactor. The updraft is the furthest removed from the ideal, with
the gasification zone near the air inlet at the base, and significant pyrolysis taking place
downstream of the gasification zone as the product gas passes through the unreacted

biomass prior to exit.

One way to approach this ideal is to elevate the temperature of the gasification zone in the
gasification reactor, and thus reduce the necessary residence time for reaction completion.
This may be achieved through the use of pre-heated air, oxygen-enriched air, or both as the
gasifying agent. In downdraft and fluid bed reactor types the product gas is normally at
high temperature (>500°C), and this sensible heat may be used to pre-heat the incoming
air. The use of oxygen-enriched air incurs a cost penalty associated with providing the
oxygen enrichment plant, but results in a product gas of improved heating value (i.e. with
less diluting nitrogen) which could be of benefit in improving the performance and
reducing the cost of the IC engine (Chapter 6).

Both air pre-heating and oxygen enrichment would result in temperatures exceeding the
* ash melting point for most biomass feedstocks, at least locally. Ash fusion temperature for
biomass feedstocks is in the range 900-1600°C, depending on the feedstock [91]. The
gasifier would therefore probably operate in slagging mode (i.e. with the reaction zone at a

temperature above that at which the ash contained in the feedstock melts and flows freely
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as a “slag”). This adds complexities relating to slag removal, but facilitates the gasification

of otherwise difficult high-ash feedstocks with low ash melting points.

Alternatively, one or more secondary reactors may be added downstream of the primary
reactor, which accept a tar-laden gas from the primary reactor and further crack the tars to
permanent gases [21]. Cracking reactors may be thermal or catalytic. In a thermal
cracking reactor a secondary air supply further oxidises the tar-laden gas to give a high
temperature environment in which the gasification reactions may proceed towards
completion. In a catalytic cracking reactor, the same end is achieved by provision of a

catalyst (although the temperature must be sufficient for the catalyst to operate effectively).

If the use of secondary reactors is being considered, there is no necessity to operate at
slagging temperatures in the primary gasification reactor. The complexities and ﬁazards of
slagging operation can thus be avoided, although any benefits that might accrue from air
pre-heat or oxygen enrichment (e.g. improved conversion efficiency, improved heating

value gas) would be unavailable.

Two low tar gasifier designs are incorporated in the system model, one a high temperature
slagging gasifier and one a non-slagging gasifier incorporating secondary (external) tar
cracking. The two designs are described in the following sections. The high-temperature
slagging gasifier operates with air pre-heat and oxygen enrichment. The performance of
both designs are evaluated and compared as stand-alone units through the use of model
calculations (Sections 5.2, 5.3).

5.1.3 The Reverse Flow Slagging Gasifier

Slagging gasification has found widespread application for coals and lignites
[92,93,94,95]. Up until now however, experience with the application of slagging
gasification to biomass feedstocks has been largely confined to the processing of municipal
solid waste and hazardous wastes, both with high ash contents [96,97,98,99,100].

The Reverse Flow Slagging Gasifier (RFSG) [101] is a design intended for the gasification
of any biomass, but in particular high ash content low ash melting point energy crop

feedstocks such as miscanthus [91]. The target scale for application is 0.5-2.5 MW.,, in
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either power-oﬁly or CHP mode [101]. It is being developed under a European
Commission JOULE III project led by the Biomass Technology Group in the Netherlands
(JOR3-CT97-0130, “Reverse-Flow Slagging Gasifier”), following successful development
of a tar cracker based on a similar principle [102].

The RFSG is illustrated in Figure 5.2. The gasifier consists of a gasification reactor and
two regenerative heat exchangers. The gasification reactor is a fixed bed cross-flow
concept with biomass feed at the top, slag extraction at the base and gas
admission/extraction ports near the base on either side. Packed bed regenerators are
positioned on either side of the gasification reactor, through which the gases pass prior to

entering and after leaving the gasification reactor.

Biomass in

Packed bed el
regenerative heat Gasification
exchangers reactor

Sl i B T S )
Oxidant in Slag Product gas out
(product gas out) quench (oxidant in)

Figure 5.2 Reverse-Flow Slagging Gasifier (RFSG)

The system is symmetrical about its vertical centre-line so that the gas flow through the
system can be reversed periodically, enabling regenerative pre-heating of the air. The
design envisages oxygen enrichment of the air in order to further increase gasification
reactor temperature and improve product gas heating value. However, the designers have
specified a maximum oxygen concentration of 60% by volume, in order to minimise the
size of air separation plant required and also the potential hazards associated with the use

of high oxygen concentrations.
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The valving necessary to effect the flow reversal is located beyond the cold end of the
regenerators, so that the regenerator/gasification reactor assembly is a self-contained unit
with minimal moving parts. The mass flow of product gas from a gasifier is substantially
higher than that of the air into it, particularly if oxygen enrichment is used (as there is less
inert nitrogen), so the regenerators operate in a high degree of imbalance - that is, the
product of mass flow and specific heat capacity of the gas being heated is very different
from that of the gas being cooled (see Section 5.2.2.1).

Slagging operation will require a relatively dry feedstock in order to help maintain
sufficiently high temperatures in the reaction zone. Moisture evaporation consumes heat
and therefore reduces bed temperatures. An upper limit for biomass moisture content to
the gasifier of 50% db has been arbitrarily assumed in this study, although the upper limit

may be lower in practice.
5.1.4 The Updraft Gasifier with External Tar Cracking

The Updraft Gasifier with External Tar Cracking (UGETC) is analogous to a design being
developed by Wellman Process Engineering in the UK [103]. The design concept (Figure
5.3) is aimed primarily at the 1-5 MW, scale, and has been successfully demonstrated at
pilot scale (100 kW).

i intermediate
bl??ezss tarry product gas,
product gas, 900-1000 C
300400 C ~
THERMAL CATALYTIC
S \\ CRACKING CRACKING
REACTOR 3 REACTOR
UPDRAFT
GASIFIER
final
product gas,
w_ air 600-700°C
ash removal

Figure 5.3 Updraft Gasifier with External Tar Cracking (UGETC)
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The tar-laden product gas from an updraft gasification reactor is taken to a secondary
reactor, the thermal cracking reactor, where it is further oxidised with air at about 900-
1000°C. The tar content of the product gas is greatly reduced in the thermal cracking
reactor, but some stable phenols remain. To remove these the gas is passed finally through
a catalytic cracker to emerge with very low tar levels (~ 100 mg/Nm®) at around 600-
700° C. The amount of air going to the thermal cracking reactor may be controlled to give
the required system temperatures.

Updraft gasification reactors are generally very tolerant of high-moisture feedstocks
because of their counter-current operation, in which the upper bed of material is pre-dried
by the product gas before reaching the gasification zone. The upper limit of 100% db
given in Table 5.1 for biomass moisture content to the UGETC has been assumed in this

study.

5.2 Gasifier Model

Both the RFSG and UGETC designs are novel concepts, and little or no satisfactory
experimental data exist for the empirical prediction of performance. In order to be able to
investigate the performance of these concepts and represent them in a system model, it is
therefore necessary to construct a theoretical model of the gasifiers which is able to
simulate the main processes influencing overall performance.

For both gasifier types the gasification process must be modelled (Section 5.2.1), and in
the case of the RFSG it is also necessary to model the regenerative heat exchangers
(Section 5.2.2). '

5.2.1 Gasification Reactor Model

5.2.1.1 Model Types

Gasification reactors have been modelled using a wide variety of approaches These

modelling approaches may be classified as follows [104]:
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1. Equilibrium models, in which the exit gas composition is calculated from either a
pre-specified reaction temperature or a pre-specified equivalence ratio (ratio of
actual oxidant to that required for complete combustion), and either heterogeneous

or homogeneous reaction equilibrium [105,106].

2. Kinetics free models in which the gasification reactor is subdivided into different
zones. The gas composition in the gasification zone is calculated from equilibrium
data whereas the reaction temperature is calculated in each zone by a separate heat
balance. This allows for representation of the drying and pyrolysis zones in an
updraft gasifier, for example [107].

3. Steady state models in which the gasification reactor is divided into a number of
segments, and mass and energy balance equations are solved for each assuming

homogeneous conditions within the segment, and with the time derivative
neglected [108,109].

4, Semi-transient models in which transients are calculated using a pseudo-steady-

state assumption on the basis of the results of steady state models [110]

5. Transient models, in which the gasification reactor is again divided into a number
of segments, with the time-dependent mass and energy balance equations fully -
solved in each [111,112].

Equilibrium and kinetics free models produce easily-solved algebraic equations, and allow
prediction of exit gas composition and temperature. They tend to have short run-times, and
relatively low data requirements. The accuracy or suitability of an equilibrium model
depends very much on the type of gasifier - in particular whether the temperatures in the
gasification zone are high enough for long enough to approach equilibrium conditions, and
whether the product gas exits the gasification reactor at that point. If the latter condition is
not met (as, for example, in an updraft gasifier) a kinetics-free model may be used to

represent the pyrolysis and drying stages, but sub-models of those processes will be
required.
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Steady state models allow profiles to be computed along the gasification reactor axis. The
models include rate equations for the heterogeneous and sometimes the homogeneous
reactions. In the case of fixed bed gasifiers, these models result in a set of ordinary
differential and algebraic equations. In the case of fluid bed gasifiers, the fluid dynamics
must be accounted for, and this may be accomplished with varying degrees of
sophistication from well-mixed reactor assumptions to full computational solution of the
two-phase flow field. Both run times and data requirements are considerably greater than

for equilibrium and kinetics-free models.

Semi-transient and transient models introduce a further level of complexity still, the latter
introducing partial differential equations.

Steady state, semi-transient and transient models rely increasingly on the availability of
good data for accuracy, and often incorporate adjustable parameters for matching
predictions to experimental measurement. They represent a far more difficult modelling
challenge that equilibrium, kinetics free or steady state models, with substantially greater
model construction effort, computational power and computational time required. They do

however offer the possibility of greater accuracy and process resolution.

5.2.1.2 Selection of Model Type

It is intended in both the RFSG and UGETC designs that the temperature and residence
time characteristics of the gasification system will allow the gasification reactions to
approach equilibrium conditions, and that all products of pyrolysis will proceed to be fully
gasified before leaving the system (Section 5.1.2). In the case of the UGETC the system

includes the two secondary tar cracking reactors.

For the present study, in the absence of experimental data for validation of a more
so;ahistiﬁated approach, a thermodynamic equilibrium model has been chosen. Despite
their simplicity, such models have found to be of great value in gasifier design [105]. The
model may be applied equally to the RFSG and UGETC concepts by choosing the

gasification reactor boundaries appropriately.
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In the case of the RFSG the gasification reactor boundary encloses just the reactor vessel
itself] i.e. the region between the two regenerative heat exchangers (Figure 5.2). In the
case of the UGETC, the gasification reactor boundary encloses the updraft gasification
reactor and the external thermal and catalytic reactors (Figure 5.3). The use of equilibrium
chemistry to model a gasification concept similar to the UGETC where the system
comprises physically separated pyrolysis, partial oxidation and char gasification reactors
has yielded very good results [113].

5.2.1.3 Description of Model

The equilibrium model used here is a spreadsheet-based model initially developed by
Double [114] based on the method of Baron, Porter and Hammond [115], and adapted to
include heat losses from the reactor due to radiation/convection and ash removal, improved
pre- and post-processing and improved numerical procedures. It has been demonstrated
that for a carbon-hydrogen-oxygen system at equilibrium, the only species present in the
gas phase in appreciable amounts (>10"* mole %) are H,, CO, CO,, CH; and H,0 [116].

Where air is involved, the inert nitrogen may be added as a sixth species.

As equivalence ratio is reduced from unity (stoichiometrically correct combustion), a point
is reached at which the products cease to be a homogeneous gas mixture because solid
carbon has just appeared. This point is known as the “carbon boundary”. As equivalence
ratio is further reduced, the amount of excess carbon increases. The carbon boundary is an
important point, as fixed bed gasifiers will naturally seek to operate at this point to

maintain a steady state (see Section 5.3.1).

In order to calculate the equilibrium concentrations of the products, it is only necessary to
consider sufficient reactions to include all the species. The following three reactions are

considered below the carbon boundary where excess carbon is present:

C+H,0 = CO +H; AH 131.4 kJ/mol
CO+H,0 = CO;+H; AH -41.2 kJ/mol
C+2H; = CH, AH -74.9 kJ/mol
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At or above the carbon boundary where no excess carbon is present, only two reactions

need to be considered:

CO +H,0 CO;+H; AH -41.2 kJ/mol
2H, +2CO = CH4 + CO; AH -243.1 kJ/mol

Dry biomass higher heating value can either be entered if known, or calculated from a
published correlation. Higher heating value is used in this case, as the latent heat of
vaporisation is included in the function used to compute water vapour enthalpy in the
product gas. A correlation developed by the Institute of Gas Technology is used here; this
has been found to give better agreement for biomass compared with other published

correlations [117]:

HHYV =34.09[C]+132.3[H]+0.069 -1.53[ash]-11.99[0 + N] (5.1)

where HHYV is in MJ/kg, and concentrations are mass fractions.

Three modes of operation are possible. In the first two, either equivalence ratio or
equilibrium reaction temperature is specified, and an iterative method is employed to
perform an energy balance, using thermochemical data in the form of polynomial functions
of temperature derived from the Janaf Thennochemiéal Tables [118]. In the third mode of
operation, the carbon boundary is specified and the model calculates the equivalence ratio
and equilibrium reaction temperature at the carbon boundary by performing a simultaneous

mass and energy balance, again using an iterative method.

In each case, for specified biomass and gasifying agent compositions and temperatures, the
model calculates product gas oon_lposition, heating value and flow rate, and either
equilibrium reaction temperature or equivalence ratio (first two modes) or both (third
mode). Gasification reactor heat loss is incorporated as a percentage of enthalpy in, and
heat loss with the ash is also calculated. The model has been validated both for
composition and reaction temperature against calculations published by Desrosiers [116]

for the equilibrium gasification of biomass with composition CH; 4Oy .
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Not all the reactions in a gasifier proceed at the same rate, and it is unlikely that the
relatively slow heterogeneous reactions will achieve full equilibrium. To describe the
degree to which equilibrium is attained, an “equilibrium approach”™ ATg4 (°C) may be

defined [104]:
AT, =T, ~T, (5.2)

where T4 is equal to the actual reaction temperature, and Tgz is equal to the equilibrium
reaction temperature calculated from the reactant streams. A value for ATg4 of 30-60°C
has been suggested for a well-designed fixed bed gasifier [104]; 50°C has been arbitrarily
assumed here. In other words, for given biomass and air compositions and temperatures,
equivalence ratio and gasification reactor heat loss, the product gas composition calculated
by the model is taken to be correct, but the calculated (or specified) equilibrium reaction

temperature is taken to be 50°C below the actual reaction temperature.

The meaning of “reaction temperature” and its relationship to product gas exit temperature
(T61:) must be understood if this model is to be used to predict the latter. The equilibrium
model assumes a conceprﬁal isothermal adiabatic reactor with homogeneous conditions
throughout, in which there is a single “reaction temperature”. In a real reactor, the reaction
temperature can be interpreted as the temperature of the reaction at the point of completion
of the gasification reactions [119]. In the absence of excess carbon (i.e. at or above the
carbon boundary), this may be taken to be the gas temperature (see also Figure 5.5). If the
gasification reactor is designed such that the product gases leave at this point without
exchanging heat with the incoming biomass, then their temperature will be equal to the

reaction temperature, or

Toy =T + ATy (5.3)

This has been assumed for both configurations considered here. In the case of the RFSG, it
is assumed that the gasification reactor width will be sized such that there is just room for
the gasification zone between the combustion zone and the product gas exit. In the case of

the UGETC, it is assumed that the thermal and catalytic cracker temperatures and
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residence times have been set to allow the reactions to reach the defined equilibrium

approach.

It should be noted that the reaction temperature is not either equal to or clearly related to
the peak gasification reactor temperature. The latter cannot be calculated without

consideration of chemical kinetics and mass transport.
5.2.2 Regenerator Model
5.2.2.1 Selection of Model Type

The RFSG employs regenerative heat exchange between the hot product gases and the cold
incoming air, using packed bed heat exchangers. Because the gasification process is
continuous, two packed bed heat exchangers are required, each alternately heating cold air
(“cold” period) and cooling hot product gas (“hot” period) over a fixed reversal period (see
Figure 5.4 and Section 5.1.3). However, steady state operation requires that the amount of
heat supplied to the air in each period must equal the amount extracted from the product
gas, and this in turn requires the two heat exchangers to have identical thermal capacities -
effectively, to be identical. The thermal performance of the two packed bed heat
exchangers will therefore be identical over a full heating and cooling cycle, and only one

need be modelled.

HOT PERIOD

COLD PERIOD
T614 REGENERATOR _m TG!Z

Figure 5.4 Regenerator gas temperatures

The model must be able to calculate the time-varying temperature of both the air and the
product gas at regenerator outlet for given regenerator packing characteristics and flow

reversal period. A time-dependent rather than time-averaged model is important because
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of the large temperature excursions that may occur over the reversal period as a result of
the heat exchange process. These may affect not only gasifier performance but also that of
any downstream equipment for further recovery of heat from the product gas. Therefore a
finite-difference iterative model was chosen which calculates steady state temperature
conditions for fixed hot and cold period mass flow rates at a selected number of points

along the regenerator for a selected number of time intervals throughout each period.

5.2.2.2 Description of Model

After a consideration of possible modelling approaches, a one-dimensional spreadsheet
model was developed based on the method of Willmott [25,120]. This method is well
suited to the present purpose, and is particularly well documented in the literature. The
method involves a numerical solution of the basic equations for heat transfer from gas to

solid and solid to gas:

0T, 10T,
UA(T, —-T;) = chGZ(—axg- +Ta:£] (5.4)

oT,

- (5.5)

at a specified number of equi-spaced positions along the regenerator and at a specified
number of equal time intervals throughout each period, using an iterative finite difference
scheme. In Equations 5.4 and 5.5 subscripts P and G denote packing and gas respectively.
The regenerator is non-dimensionalised and the calculation is performed using a “reduced”
length (A) and period (7]) as suggested by Hausen [121], where:

UA

A= (5.6)
mgCq
UAt

1= - (5.7)
Mpe,

and 7. is the cycle period. This facilitates the computation.
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Ten spatial and time increments were chosen. A larger number was considered
unnecessary for the purposes of the study and would add to model size. Fifty iterations
were found to give convergence in all cases. The model includes a calculation of the bulk
heat transfer coefficient for the case of spherical packing material as a function of sphere

diameter [122], and a correction for the ignoring of material temperature variations

perpendicular to the flow direction [120].

Willmott’s method assumes constant gas mass flow rates and gas inlet temperatures for
both hot and cold periods. The IC engine demands constant dry product gas mass flow
(see Section 6.1.1.2), and assuming a constant gasifier equivalence ratio over the reversal
cycle, gasifier air mass flow will also be constant. The air at inlet to the cold period
regenerator is at ambient temperature Tg;; (Figure 5.4). However, the product gas
temperature at inlet to the hot period regenerator (7s;5) does not remain constant, but is
rather a function of the air temperature at regenerator outlet at the corresponding point
during the cold period (Tg,4) - that is to say, gasification reactor outlet temperature is a
function of gasification reactor inlet temperature. This can have an important effect on

regenerator performance, and Willmott’s algorithm must be modified accordingly.

It would be possible to re-run the gasification reactor model at each time step for each
iteration in the regenerator model in order to update the regenerator inlet temperature.
Computationally this would be inefficient. However, it is also unnecessary, as application
of the gasification reactor model shows the relationship between reactor inlet and outlet
temperature over the range of temperatures of interest is approximately linear, and can be
established for each case with two additional runs of the gasification reactor model. The

following linear relationship is therefore incorporated into the regenerator model:
Tos =CiTgu +C, (5.8)

with the only requirement being the specification of the two constants C; and C;. There is
assumed to be no change in air temperature between regenerator outlet and gasification
reactor inlet, and likewise in product gas temperature between gasification reactor outlet

and regenerator inlet.
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5.2.3 Validation

As part of the European Commission J OULE project JOR3-CT97-0130, a pilot RFSG was
constructed and operated by the Biomass Technology Group in the Netherlands, at a feed
rate of 10 kg/h dry biomass. Numerous experimental difficulties hampered the acquisition
of suitable data for validation. However, it was possible shortly before the end of the
project to obtain a single set of data averaged over a series of runs which have been used
for a limited validation [123].

Because of difficulties experienced in achieving high temperatures within the gasification
reactor, the pilot plant incorporated secondary air addition into the zone(s) between the
gasification reactor exit and the packed bed inlet, thereby promoting further oxidation and
increased temperatures. This resulted in operation at an equivalence ratio well above the

carbon boundary (Section 5.2.1.3).

Also, in order to achieve balanced regenerators (equal product of gas mass flow and gas
specific heat capacity in each - see Section 5.1.3), a substantial proportion of the product
gas was bled from the slag tap so as to bypass the hot period regenerator. The temperature
and composition of this gas at the point of extraction was not recorded; the temperature is
therefore assumed to be close to the estimated temperature at the centre of the gasification
reactor (1200°C), and the composition is assumed to be similar to the product gas entering
the packed bed. The product gas températurc in the gasification reactor model is taken to
be the mass-weighted mean of the two streams. The streams are reunited downstream of
the packed bed, prior to gas analysis.

The biomass utilised in the tests was beech wood. Biomass composition was supplied, but

heating value had to be obtained from other sources [124].

Table 5.2 gives data and results for the gasification reactor model; Table 5.3 does the same
for the regenerator model. The correct product gas temperature in the gasification reactor
model was obtained by varying the gasification reactor heat loss (radiation and

convection), data for which were not supplied.
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A gasification reactor heat loss of 17.9% of enthalpy in was necessary to achieve the
specified product gas temperature. Insufficient data were available to test the accuracy of
this result. However, heat loss from downdraft gasifiers has been measured at around 10%
for an uninsulated design [125] and estimated at 5% for an insulated design [106]; in both
cases the biomass feed rate was about 80 kg/hr. In view of the much smaller scale of the
. pilot RFSG (10 kg/hr) the figure of 17.9% seems not unreasonable.

Table 5.2 RFSG pilot plant data [123] and model results - gasification reactor

Model | Model Plant

Parameter Inputs | Results | Data
Biomass flow rate to gasifier (kg/hr dry basis) 9.0

Biomass composition: C (%ﬁ d.a.f) 51.9

Biomass composition: H (%wt d.a.f.) 6.3

Biomass composition: O (%wt d.a.f.) 41.8

Biomass composition: ash (%wt dry basis) 2.0

Biomass composition: moisture (%wt wet basis) 17.0

Air flow rate to gasifier (Nm®/hr dry basis) 20.0

Air temperature to gasification reactor (°C) 900.0

Air composition: Oy (%vol) 21.8

Air composition: N2 (%vol) 78.2

Product gas flow rate from gasifier (Nm®/hr dry basis) 28.8 29.0
Product gas temperature from gasification reactor (°C) 900.0 ‘

Product gas composition: H, (%vol dry basis) 16.0 13.4
Product gas composition: CO (%vol dry basis) 16.7 17.7
Product gas composition: CO; (%vol dry basis) 13.0 11.3
Product gas composition: CHs (%vol dry basis) ‘ 0.0 0.8
Product gas composition: N, (%vol dry basis) 54.3 56.9
Product gas lower heating value (MJ/Nm® dry basis) 3.84 3.97
Gasification reactor heat loss (% of enthalpy in) . 17.9

The gasification reactor model predicts product gas flow rate and LHV with good

accuracy. Product gas composition is also well predicted, with a small under-prediction of
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CH,4 and a small over-prediction of H,, due probably to the non-equilibrium state of the
product gas extracted through the slag tap.

The regenerator model results of Table 5.3 shows very close agreement on inlet and exit

temperatures.

Table 5.3 RFSG pilot plant data [123] and model results - regenerator

ST Model | Model | Plant
Inputs | Results | Data

Regenerator length (m) 0.6

Regenerator diameter (m) 0.18

Packing sphere diameter (mm) ' 4.8

Packing sphere density (kg/m®) 2160

Packing sphere mean specific heat (J/kgK) - 1160

Packing sphere mean thermal conductivity (W/mK) 11.1

Flow reversal interval (min) 10.0

Air flow rate to regenerator (Nm>/hr) 16.0

Air temperature at regenerator inlet (°C) 18.0

Air mean temperature at regenerator outlet (°C) 903.2 900.0

Product gas flow rate to regenerator (Nm*/hr) 16.0

Product gas mean temperature at regenerator inlet (°C) 901.8 900.0

Product gas mean temperature at regenerator outlet (°C) 112.8 115.0

This is a very limited validation because of the lack of data: nevertheless, it gives

confidence in the general applicability of the models and in the assumptions made.

5.3 Use of the Model to Evaluate Gasifier Performance

In this evaluation the gasification reactor and regenerator models were used to examine the
sensitivity of gasifier performance to the principal variables under the control of the
operator for a given feedstock, i.e. biomass moisture content (which can be adjusted by

drying), and in the case of the RFSG air oxygen concentration. Also examined was the
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contribution to the performance of the RFSG of air pre-heat at a given air oxygen

concentration.

This work focuses on the gasification systems in isolation, with no other components of the

BGES modelled.

3.3.1 Fixed Boundary Conditions

As discussed in Section 5.2.3, it has been assumed that for both the RFSG and UGETC
configurations there is sufficient residence time to achieve an equilibrium “approach” of
50°C, and also that no transfer of sensible heat from the product gas to the incoming feed
occurs after the completion of the gasification reactions - that is to say the gasification
reactor operates with the product gas exiting immediately after the final gasification zone,

as in a downdraft gasifier.

The RFSG must be operating at the carbon boundary equivalence ratio if steady state
conditions exist with no accumulation or elutriation of carbon and a constant level of feed
in the bed [126], and provided no secondary air supply is added downstream of the bed.
This self-regulation is a key feature of all continuously fed fixed bed gasifiers, and arises
because gravity feeding ensures that the feed is supplied to the reaction zone at the
maximum rate at which it can be consumed — i.e. the minimum equivalence ratio such that
all the feed is consumed [126]. This is the carbon boundary. The consumption rate may
only be adjusted by varying the rate of supply of oxidant. The provision of secondary air
which was necessary in the RFSG pilot plant (Section 5.2.4) is assumed to be unnecessary
for a full scale unit.

With the UGETC, the equivalence ratio of the overall gasification system (including the
secondary reactors) is not constrained to the carbon boundary value. The equivalence ratio
of the updraft gasifier itself remains fixed at its own carbon boundary value for the same
reasons as those given for the RFSG; however this is the carbon boundary relating only to
the material passing into the gasification zone in the lower section of the gasification
reactor, i.e. excluding the volatile material and moisture removed from the biomass above

the gasification zone by the passage of the hot product gas. Secondary air may however be
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added to the thermal cracking reactor at a rate independent of the biomass feed rate, to

achieve the desired operating temperatures in the cracking reactors.

The UGETC could, therefore, be modelled with the reaction temperature set to the exit
temperature of the catalytic cracker, given as 600-700°C, less the equilibrium approach.
However, as will be seen (Table 5.6), this range corresponds closely to the carbon
boundary reaction temperature for the overall gasifier, and the UGETC is therefore
modelled at the overall carbon boundary as with the RFSG.

For the purposes of the evaluation, a gasifier biomass input of 1.5 dt/h is arbitrarily
assumed (ash free basis), equivalent to a thermal input of about 7.6 MWy, (LHV basis) or
an electrical output of close to 2.0 MW, at 25% overall electrical efficiency. The feed is
the “standard” biomass, chipped whole-tree short rotation coppice poplar as defined in
Table 2.3 [33]. Both gasifiers are assumed to have a minimum acceptable biomass size
requirement of 10 mm mean diameter, so that all chips below this size (15% of the total)

have been removed by either pre-dryer or post-dryer screening.

Feed moisture content to the gasifier is varied between 5% db and 50% db, achieved
through drying using waste process heat from an initial value of 100% db. In the case of
the RFSG, the upper value of 50% is justified by the need to maintain very high
temperatures in the reaction zone. As the purpose here is to compare the two gasifiers, the
same upper value is used for the UGETC; however, the UGETC would be able to accept
feed moisture contents of up to 100% db (see Section 5.1.1). In the system modelling
study (Chapters 8 and 9) higher feed moisture contents to the UGETC are considered.

In the case of the RFSG, the oxygen content of the enriched air is varied between 21% by
volume (normal air) and 100% by volume, although the RFSG is designed specifically for

a maximum air oxygen concentration of 60% for cost and safety reasons.

For the RFSG under steady state operation, the mean temperature of the pre-heated air
emerging from the cold period regenerator (T6,4) is fundamentally constrained to be less
than that of the product gas entering the hot period regenerator (7g;5). However, the

purpose of the regenerators in this concept is to achieve as much pre-heating as possible. It
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was found through application of the regenerator model that, as a result of the fluctuating
nature of the process and the need to keep the regenerator masses within sensible limits, a
reasonable mean value of (T¢;5-Tg,4) is about 70K. This value was specified as a target for
the regenerator model in those cases with regenerative air pre-heat, to be achieved if

possible within the following constraints:
Regenerator packing mass (Ap) < 10 tonnes
Cycle time (1,) 2 20 minutes

Product gas outlet temperature fluctuation (ATgis) < 100K

The upper limit of packing mass is stipulated to avoid the long thermal stabilisation times
at start-up which would be associated with very large packing masses. The lower limit of
cycle time is stipulated so that the frequency of the short-duration perturbations in gas
quality associated with flow reversal do not become too great. The temperature fluctuation
limit is stipulated to keep variations in water temperature from the product gas water heater

to a minimum,

For both configurations the gasifier is assumed to operate at atmospheric pressure, with
heat loss from walls due to radiation and convection equal to 5% of total enthalpy entering
the gasification reactor [106]). This value is based on measurements from smaller gasifiers
and could probably be reduced for a larger, well-designed gasifier. However, a small
overestimation in gasification reactor heat loss provides compensation for the distortion to
the energy balance caused by the addition of 50°C to product gas temperature, to allow for
non-equilibrium conditions (Section 5.2.1.3).

3.3.2 Modelling Cases

A total of 32 gasification reactor model cases were run for the RFSG, 16 with air pre-heat
and 16 without air pre-heat, and four for the UGETC, as defined by the gasification reactor

model input parameters given in Table 5.4. Biomass properties are given in Table 2.3.
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The variable parameters are shown in Table 5.4 in bold type; all other input parameters

remained constant throughout.

The RFSG cases with no air pre-heat were run simply to measure the benefits of air pre-

heat, which is an integral part of the RFSG design.

Because of the modelling assumptions, the four RFSG cases with no air pre-heat and no

oxygen enrichment are identical to the UGETC cases.

Table 5.4 Principal input parameters, gasification reactor model

Gasifier type | RFSG UGETC
Product gas temperature Tg;; ( °C) carbon boundary value
Biomass dry flow rate mj (kgs™) 0.417

Air O; concentration [O;)g11 (%) 21, 40, 60, 100 21
Air temperature T (°C) (T615-70), 15 15
Biomass moisture content Xzo (% db) 5.3,17.6,33.3,50.0

The regenerator model was run for all RFSG cases with air pre-heat. The regenerators
were assumed to be packed beds of fireclay spheres with a constant bed porosity of 0.38.
Properties for fireclay were taken from Perry [127].

The sphere diameter may be varied in the model to achieve different bulk heat transfer
coefficients (Section 5.2.2.2). Here, sphere diameter was adjusted to give a final product
gas temperature fluctuation of 100K (see Section 5.3.1). To achieve a smaller product gas
temperature fluctuation would require larger sphere diameters, resulting in greater total
packing mass requirement [128].

The regenerator towers were assumed to be cylinders of length equal to four diameters -

typical of other similar applications [‘_58]. Finally the minimum flow reversal period of 20
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minutes was specified for all cases, as the shorter the reversal period, the smaller the final

product gas temperature fluctuation (see Section 5.3.1).
5.3.3 Results: Gasification Reactor Model

Results for the 16 gasification reactor model cases corresponding to the RFSG with air pre-
heat are given in Table 5.5, and for the four cases corresponding to the UGETC in Table
5.6. Included are the air inlet and product gas outlet temperatures, the product gas flow
rate and lower (or net) heating value (LHV), and the cold gas efficiency (product gas
chemical energy output expressed as a percentage of biomass thermal input). Product gas

flow rate and LHV are expressed on a dry basis.

Table 5.5 Principal gasification reactor model results: RFSG

Case No. Rl | R2 | R3 R4 | RS | R6 | R7 | RS
Feed moisture (% db) 53 | 53 | 83 | 537|176 |176 |176 |17.6
Air oxygen conc. (% vol) 21 40 60 100 | 21 40 60 100
Airtemp.in (°C) 668 | 682 | 688 | 693 | 633 | 645 | 650 | 655

Product gas temp. out (°C) 738 | 752 | 758 | 763 | 703 | 715 | 720 | 725
Product gas flow (Nm®/s) 1.09 | 0.82 | 0.72 | 0.64 | 1.12 | 0.84 | 0.74 | 0.66
Product gas LHV (MJ/Nm’) 6.12 | 817 [ 9.32 | 10.5 | 5.82 | 7.76 | 8.83 | 9.92

Cold gas efficiency (%) 86.1 | 86.2 | 86.2 | 86.2 | 83.9 | 84.0 | 84.0 | 84.1
Case No. R9 | R10 | R11 [ R12 | R13 | R14 | R15 | R16
Feed moisture (% db) 333 | 333|333 |333 ]| 50 50 50 50

Air oxygen conc. (% vol) 21 40 60 | 100 | 21 40 60 | 100
Air temp. in (°C) 595 | 606 | 610 | 614 | 556 | 565 | 569 | 572

Product gas temp. out (°C) 665 | 676 | 680 | 684 | 626 | 635 | 639 | 642
Product gas ﬂow'(ng‘/s) 1.14 | 0.86 | 0.75 | 0.67 | 1.13 | 0.85 | 0.75 | 0.66
Product gas LHV (MJ/Nm®) | 5.55 | 7.39 | 840 | 9.44 | 542 | 7.21 | 8.21 | 9.22
Cold gas efficiency (%) 81.3 | 81.4 | 81.4 | 81.4 | 78.7 | 78.8 | 78.8 | 78.8
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3.3.3.1 Gasification Temperature

A fundamental result for the RFSG design is that regardless of feed moiéture content, air
oxygen concentration or regenerative air pre-heat, the product gas temperature at
gasification reactor exit remains within the range 600-750°C (Table 5.5). Very little
reliable data on gasification reactor temperatures has been obtained from the RFSG pilot
plant, but the data available suggest that exit temperatures are indeed in this range or a

little above, while peak temperatures near the air inlet can reach 1500°C [123].

Table 5.6 Principal gasification reactor model results: UGETC

Case No. U1 U2 U3 U4

Feed moisture (% db) 5.3 17.6 333 50

Air temp. in (°C) 15.0 15.0 15.0 15.0
Product gas temp. out (°C) 713 682 647 609
Product gas flow (Nm?/s) 1.16 1.18 1.19 117
Product gas LHV (MJ/Nm’®) 5.34 5.12 4.94 4.89
Cold gas efficiency (%) 79.5 77.6_ 75.5 73.5

The temperature distribution within the gasification reactor cannot be predicted with the
model employed here; however, it is probable that with such a product gas exit temperature
range, a substantial part of the gasification zone of the RFSG will be at temperatures below

1000°C, and the zone near the exit will be below 800°C.

Biomass ash fusion temperatures vary according to biomass type. At one end of the scale,
ash fusion temperatures for barley straw have been measured at 750°C for initial
deformation and 1050°C for fluid flow (oxidising atmosphere) [91]. At the other, ash
fusion temperatures for spruce bark have been measured at 1565°C for initial deformation
and 1650°C for fluid flow (reducing atmosphere) [91]. For a typical wood chip, the
corresponding temperatures are around 1220°C and 1280°C (either atmosphere) [91].

Hence the RFSG will face considerable design difficulties if it is to operate as a slagging
gasifier, as only part of the cross-section of the gasification reactor will achieve slagging

116



temperatures for most biomass feedstocks. As a consequence, ash will melt and re-freeze
at locations along the gas path, eventually blocking the gasifier. Up to now, slagging
gasifiers operating with biomass feedstocks (mostly MSW or other wastes) have all been
updraft in design [98,100,129]; this is because an updraft gasifier approximates plug flow
with the point of air entry (the hottest region) coincident with the point of ash/slag

removal.

In addition to anticipated problems with slagging operation, it is likely that with much of
the gasification zone of the RFSG at temperatures not greatly above those in a non-

slagging design, the hoped-for reduction in tar production may be difficult to realise.

This situation arises because of the composition of the feed, and the constraint with
gasifiers of this type to operate at the carbon boundary, which implies a typical
stoichiometric ratio of between 0.25 and 0.35 [126,130]. While oxygen enrichment and air
pre-heat will certainly result in much-elevated temperatures in the initial part of the gas
path where exothermic oxidation reactions dominate, the endothermic reduction reactions
which dominate further along the gas path cause the temperature to drop rapidly initially,
and then more slowly as residence time continues to increase. The temperature
asymptotically approaches the equilibrium reaction temperature. A typical profile through

the oxidation and reduction zones of a gasifier is shown in Figure 5.5 [119].
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Figure 5.5 Temperature profile through the oxidation and reduction zones of a gasifier
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Further runs of the gasification reactor model have confirmed that this situation would be
the same for any biomass feedstock which has not been chemically upgraded, including
MSW. For most such feedstocks_thc ultimate analysis is more or less constant, and in all
cases the H:C and O:C molar ratios are never less than 0.5 and 1.2 respectively. Under
these circumstances the endothermic gasification reactions play a powerful role, limiting
the reaction temperature. Solid feedstocks with much lower H:C and O:C molar ratios,
such as charcoal, give very different results. Table 5.7 shows results for product gas
temperature from the gasification reactor model for an RFSG operating with un-enriched

air, for various feedstocks.

Table 5.7 Predicted product gas temperatures from the RFSG for various feedstocks

Feedstock :C 0:C Moisture Ash LHV | Prod. Gas
Molar Molar | Content | Content | (MJ/kg Temp.
Ratio Ratio (% db) | (% db) dry) (°O)
wood chips 1.53 0.66 17.6 23 18.6 703
coal 0.82 0.08 13.6 10.3 34.1 1190
charcoal 0.53 0.22 3.0 4.1 26.5 1559
shredded tyres 1.07 0.03 2.45 6.3 38.5 2026

Clearly much higher temperatures are achievable, and in the case of charcoal or shredded

tyres slagging operation should be easily achieved.

For the pﬁrposes of this study, it is assumed that the temperature profile across the
‘ gasification reactor will permit the successful positioning of a slag tap, and that the tap
functions adequately. It is also assumed that the tar level at the regenerator exit is
sufficiently low for further external tar cracking to be unnecessary. However, the
implication of the model results is that, in practice, both these outcomes will be very

difficult to achieve.
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The product gas exit temperatures for the four UGETC cases all fall within the range 600-
720°C, confirming that the modelling assumption of carbon boundary operation gives the

exit temperature values observed in practice (see Sections 5.1.4, 5.3.1).
5.3.3.2 Product Gas Heating Value and Cold Gas Efficiency
Figure 5.6 shows product gas LHV plotted against feed moisture content. The five curves

correspond to the RFSG at four air oxygen concentrations, and the UGETC. Figure 5.7

shows a similar plot for cold gas efficiency.
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Figure 5.6 Effect of feed moisture on product gas LHV

The superiority of the RFSG over the UGETC both in terms of product gas LHV and
particularly cold gas efficiency is apparent in these charts. The observed increase in
product gas LHV with increasing air oxygen concentration for the RFSG is to be expected,
as the amount of diluting nitrogen is reducing; however the superiority of the RFSG over
the UGETC at 21% oxygen is as a result of air pre-heating. In the case of cold gas
efficiency there is virtually no effect of air oxygen concentration in the RFSG, with the
increasing LHV being almost exactly counterbalanced by the falling product gas flow rate.
Without air pre-heat, cold gas efficiency would rise with increasing air oxygen
concentration because of the reduced amount of sensible heat leaving with the inert

nitrogen. However, when air pre-heat is employed, this benefit is lost as there is less
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sensible heat in the product gas available for recovery to heat the air. Values for RFSG
cold gas efficiency are however a clear 5% above those for the UGETC at all feed

moistures, again as a result of air pre-heating.
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Figure 5.7 Effect of feed moisture on cold gas efficiency

Product gas LHV exhibits only a shallow decline with increasing feed moisture for both
gasifier types at all oxygen concentrations, although LHV is expressed on a dry basis and
the decline would be more marked if LHV were expressed on a wet basis (product gas
moisture content will rise with feed moisture content). A factor of six increase in moisture
(5.3-33.3% db) results in an average decrease in dry product gas LHV of just 10%.
Similarly, the decline in cold gas efficiency with increasing moisture is only modest, with
the factor of six increase in moisture resulting in an average decrease in cold gas efficiency
of just 10%. The maximum attainable cold gas efficiency appears to be around 87% for
the RFSG, and around 80% for the UGETC.

5.3.3.3 Regenerative Air Pre-heat (RFSG)

Figures 5.8 and 5.9 show the effect of regenerative air pre-heat on product gas LHV and
cold gas efficiency for the RFSG. In each case the percentage improvement or increase
with pre-heated air compared with zero pre-heat is plotted against air oxygen concentration

for the four feed moisture contents.
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Figure 5.8 Effect of regenerative air pre-heat on RFSG product gas heating value
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Figure 5.9 Effect of regenerative air pre-heat on RFSG cold gas efficiency

The improvements with air pre-heat are most pronounced at zero oxygen enrichment (10-
15% for LHV, 7-9% for cold gas efficiency), but diminish rapidly as enrichment level
increases. At 40% oxygen concentration the benefit for both parameters has fallen to 4-
6%. This is because as enrichment level increases, the air flow rate falls sharply, and the
amount of sensible heat that can be supplied to the gasification reactor via the air falls

likewise. In those cases with regenerative air pre-heating, the air flow rate with no oxygen
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enrichment is nearly twice that for an oxygen concentration of 40%. Air oxygen
enrichment therefore acts to reduce the benefits of regenerative air pre-heating. This result
supports operation at relatively low levels of air oxygen enrichment on the grounds of cost,
and in the system modelling study (Chapters 8 and 9) the maximum air oxygen
concentration is limited to the design value of 60%. The optimum level of oxygen

enrichment can only be determined by application of the system model.

5.3.3.4 Product Gas Composition

Tables 5.8 and 5.9 give product gas compositions for the RFSG (with air pre-heat) and the

UGETC respectively, on a volume fraction basis.

Table 5.8 Product gas compositions: RFSG

Case-No. R1 R2 R3 R4 R5 R6 R7 RS8

Feed moisture (% db) | 5.3 o3 3.3 s3 |1%6 |176 |17.6 |17.6
Air O; conc. (% vol) 21 40 60 100 21 40 60 100

[H:e1 0.225 | 0.292 | 0.328 | 0.364 | 0.233 | 0.297 | 0.331 | 0.365
[COlei 0.250 | 0.328 | 0.371 | 0.414 | 0.196 | 0.255 | 0.287 | 0.318
[CO:]en 0.082 | 0.106 | 0.118 | 0.131 | 0.114 | 0.146 | 0.163 | 0.180
[CHlG11 0.008 | 0.011 | 0.013 | 0.015 | 0.012 | 0.018 | 0.020 | 0.023
[N2]G1s 0.392 | 0.204 | 0.102 | 0.000 | 0.378 | 0.194 | 0.097 | 0.000
[H20]6n 0.043 | 0.058 | 0.067 | 0.075 | 0.067 | 0.089 | 0.101 | 0.114
Case No. R9 | R10 | R11 | R12 | R13 | R14 | R15 | R16

Feed moisture (% db) | 33.3 | 333 [ 333 [ 333 | 50 | 50 | 50 | s0
AirOyconc. (% vol) | 21 | 40 | 60 | 100 | 21 | 40 | 60 | 100

[H:)orn 0.233 | 0.293 | 0.323 | 0.353 | 0.221 | 0.273 | 0.299 | 0.324
[COlci 0.139 | 0.178 | 0.199 | 0.220 | 0.088 | 0.112 | 0.124 | 0.136
[CO;l 0.147 | 0.187 | 0.207 | 0.227 | 0.174 | 0.218 | 0.241 | 0.263
[CH{lo11 0.020 | 0.028 | 0.032 | 0.036 | 0.032 | 0.043 | 0.049 | 0.054
[N2)o11 0.360 | 0.183 | 0.090 | 0.000 | 0.343 | 0.172 | 0.084 | 0.000
[H;0l61; 0.100 | 0.131 | 0.148 | 0.164 | 0.142 | 0.182 | 0.203 | 0.223
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In all cases, reducing the moisture content of the feed has the effect of increasing CO but
reducing CHy4 and H,0, with H; showing only weak sensitivity.

For the RFSG, the effect of regenerative air pre-heat is always to shift the equilibrium to
the production of more CO and H; and less CO; and H,0, with CH, virtually unaffected.
If the effect of air oxygen enrichment on product ga’s composition is considered on a
nitrogen-free basis, no effect is seen with pre-heated air (as there is no requirement to heat
the inert nitrogen), whereas without air pre-heat the effect of increased oxygen enrichment

is again to raise CO and H; production, and reduce CO; and H,O production.

. Table 5.9 Product gas compositions: UGETC

Case No. U1 | 02 U3 U4

Feed moisture (% db) | 5.3 176 | 333 50

(H2len 0.199 | 0.207 | 0.208 | 0.196
[COln 0.208 | 0.162 | 0.113 | 0.070
[CO:l6ni 0.102 | 0.130 | 0.158 | 0.180
[CH{Jn1 0.008 | 0.013 | 0.021 | 0.033
WA 0.432 | 0415 | 0394 | 0373
[H:0)611 0.051 | 0.074 | 0.107 | 0.148

5.3.4 Results: Regenerator Model (RFSG)

Results from the regenerator model for the RFSG cases with air pre-heat are shown in
Table 5.10. Packing sphere diameter was in the range 129-165 mm, and regenerator
diameter 0.54-1.2 m, giving total packing masses of 0.65-6.5 t. The large sphere size
would result in relatively low pressure drops, with the regenerators resembling the
checkerwork brick designs found in the metallurgical or glass industries rather more than

the small packed bed columns associated with, for example, solar energy storage.

Temperature deltas refer to the difference between gas temperature at the start and at the

finish of a period. In all cases the fluctuation in air temperature entering the gasification
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reactor is less than 85°C, and this results in a fluctuation in product gas temperature
leaving the gasification reactor of less than 2°C. The corresponding fluctuation in product
gas LHV or any of the component concentrations is always below +0.5%. It is therefore a
reasonable approximation for the purposes of overall system modelling to take final

product gas composition and heating value as being constant with time.

Table 5.10 Principal regenerator model results

Case No. R1 | R2 | R3| R4 | R5 | R6 | R7 | RS
Feed moisture (% db) 83 | 53 | 83 | 53 |17.6 | 176 |176 | 176
Air O; conc. (% vol) 21 40 60 | 100 | 21 40 | 60 | 100

T4 into gas. reactor (°C) 669 | 683 | 687 | 697 | 633 | 646 | 648 | 651
ATg4 into gas. reactor (°C) | 35.5 | 40.1 | 47.5 | 52.8 | 38.3 | 44.0 | 52.4 | 64.2
Tg;s from gas. reactor (°C) 738 | 752 | 758 | 763 | 703 | 715 | 720 | 725
ATg;s from gas. reactor (°C) | 14 | 0.8 | 0.6 | 04 | 1.2 | 0.7 | 0.6 | 0.4
Tc16 from regenerator (°C) 450 | 552 | 606 | 659 | 448 | 541 | 590 | 637
Packing mass Mp (tonnes) 7.15 |} 3.39 | 2.00 | 1111 | 6.50 | 3.03 | 1.78 | 922

Case No. R9 | R10 | R11 | R12 | R13 | R14 | R15 | R16
Feed moisture (% db) 333|333 1333 | 333 | 50 50 50 50
Air O; conc. (% vol) 21 40 60 | 100 | 21 40 60 | 100

T614 into gas. reactor (°C) 5906 | 604 | 612 | 613 | 555 | 565 | 569 | 567
ATg;4into gas. reactor (°C) | 41.3 | 49.9 | 55.7 | 69.9 | 45.6 | 54.8 | 64.6 | 81.8
T61s from gas. reactor (°C) 665 | 676 | 680 | 684 | 626 | 635 | 639 | 642
ATg;s from gas. reactor (°C) | 1.2 ( 0.7 | 05 | 04 | 1.4 | 0.8 | 0.7 | 05
Tg16 from regenerator (°C) | 444 | 529 | 570 | 611 | 437 | 511 | 548 | 582
Packing mass Mp (kg) 5.81 | 262|158 | 802 | 503|224 | 1.29 | 649

The IC engine is a constant speed device and will demand a constant mixture volume flow
rate. This therefore implies that given a constant product gas composition, the product gas
mass flow rate will also be constant with time, as will the air flow rate to the gasifier. The
model cannot predict any transient effects on gas quality in the period immediately

following flow reversal; these are therefore neglected.
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The product gas stream emerges at a mean temperature of between about 430°C and 610°C
depending on the level of air oxygen enrichment and the biomass moisture content; higher

oxygen enrichment levels and lower moistures resulting in higher temperatures.

Figure 5.10 shows temperature profiles through the regenerator for Case R5. The form of
the profiles was very similar for all cases. The temperature difference between gas and
packing is much greater near the outer boundaries than near the gasification reactor,
indicating that most heat transfer takes place near the outer boundaries. Figure 5.11 shows

the variation in gas temperatures with time for the same case. Each of the profiles is linear.
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Figure 5.10 Regenerator temperature profiles - Case RS

For all cases, the model achieved convergence after a maximum of 20 iterations.

5.4 Reduced Representation for Incorporation in System Model

The gasification reactor and regenerator models are not well suited to direct incorporation
in the system model due to their size and complexity. A reduced performance/cost model
of the RFSG (with pre-heat) and the UGETC has therefore been constructed, based on
regression analysis of the results presented in Sections 5.3.3 and 5.3.4 supplemented with
some additional cases for the UGETC to extend the feed moisture content range up to
100% db.
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Figure 5.11 Variation in regenerator gas temperatures with time - Case RS

It is assumed that the tar concentration in the product gas from both gasifier types is 100
mg/Nm’ (see Section 5.1.2), so that further tar removal is unnecessary, although some
further reduction of tar levels will take place in the product gas quench cooler (Section
7.4). In all cases, the chemical energy in the tars is well below 0.5% of that in the gas, and
the effects on the calculated product gas compositions and heating values are therefore

neglected.

It is also assumed that particulate emissions from both gasifier types are very low (<100
mg/Nm’); the updraft gasifier has inherently low particulate emissions [88], and the RFSG
has a packed bed regenerator after the gasification reactor outlet which will provide self-

cleaning filtration (with the retained solids removed as slag).

The reduced gasifier model is effectively the starting point of the system model, and

receives no input from other module sub-models.
5.4.1 Performance Calculations

The reduced model needs to be able to supply the following performance information to
other system module sub-models, given biomass moisture content (Xz9, % db) and air

oxygen concentration ([D,] 49, fraction by volume):
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Air flow rate (m g, Nm3/kg dry biomass)

Product gas dry flow rate (mg;,, Nm3/kg dry biomass)

Product gas temperature at regenerator exit (75, °C)

Product gas composition ([, CO, CO,, CHs, N>, H,0] 11, fraction by volume)

The regression was based in all cases on the following relationships:

S (X 55,[0,145) = f'(0216) X 5y + ([0, 5) (-9)

where:
[(0,14) =C[0,1," +C,[0,1,," +C, (5.10)
["(0:145) = Ci[0,)4" +C5[0, 145" +C (.11)

where m, r = £2 and n, s = 1. A number of alternative regressions were tested, but

Equations 5.9-5.11 gave good results (see below) with a relatively simple form.

Values for the constants Cj.s and exponents m, n, r and s are given in Table 5.11 for the
RFSG model, and in Table 5.12 for the UGETC model. Note that for the UGETC, air
oxygen concentration is constant at the ambient value of 0.21, and therefore the constants
Ci24,5 are zero. Over all model cases and all parameters except [CH/]g;;, the average error
introduced by regression expressed as a percentage of true value was 1.7%, and maximum
error (associated with [CO]g;;) was 7.1%. Values for [CHy]g;; were exact to three decimal
places in all cases, but in some cases the values were very small and to include these errors

in the above average would have been distorting.

Limits of applicability for the reduced models are 5<X<50 (RFSG), 5<X<100 (UGETC)
and 0.2<[0,]45<0.6.
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5.4.2 Cost Calculations
J.4.2.1 Capital Cost

Capital costs of atmospheric pressure biomass gasifier modules have been correlated with
biomass feed rate by Bridgwater [38], for a range of inputs from 0.1-10 kg/s (dry basis).
The module is defined as from prepared feed on the ground to a clean gas. Module costs
are on a total plant cost (7PC) basis. The correlation has been updated to 1998 values and
converted to sterling:

TPC,, = 7627 my,"** (5.12)

where mpy is biomass dry feed rate (kg/s) and TPCyp is in £7000 (1998).

This cost comprises both the gasification reactor and the product gas scrubber and
associated waste water treatment plant, but no additional tar cracker. Bridgwater gives a
breakdown of relative capital costs for a system with an atmospheric pressure gasifier of
about 6 MW, output, in which he estimates the element of TPC attributable to gas
scrubbing and waste water treatment to be 50% of that for the gasification reactor. Toft
has similarly estimated the element of 7PC attributable to the tar cracker to be 50% of that
for the gasification reactor [40]. Equation 5.12 can also be taken therefore to represent the
capital cost for the gasiﬁcation reactor with external tar cracker, but without gas clean-up

or waste water treatment.

In the absence of firm cost data from Wellman on the UGETC, it has been assumed that
the function of Equation 5.12 will give a reasonable approximation for TPC;, (as the
UGETC is a conventional atmospheric pressure gasifier with external tar cracking).
Wellman have given a rule-of-thumb figure of £1000 per kW, for the installed plant cost
(IPC) of a gasifier and associated tar crackers for a system in the power output range 2.5-
10 MW, [131]. IfIPC is calculated using Equation 5.12 and Table 2.5 assuming an overall
system efficiency of 28% (bearing in mind the larger system size), values are obtained of
£1115 per kW, at 5 MW, and £904 per kW, at 10 MW, giving confidence that Equation

5.12 provides a good approximation.
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A function for the gasifier equipment cost (EC}) will be necessary in the calculation of the
RFSG module total plant cost (see below); this may be estimated using Tables 2.4 and 2.5:

EC,, =3451my,""" (5.13)

with ECy in £°000 (1998). Equations 5.12 and 5.13 have been used in the reduced model
to give TPCyo and EC) for the UGETC module.

Costs for the RFSG module are more difficult to estimate, as there are no comparable
designs for which cost data are available. Slagging operation will introduce additional
costs over and above non-slagging operation, such as more expensive materials of
construction, the requirement for a heated slag tap and quench, and more elaborate safety
measures (particularly if oxygen-enriched air is used). Also, two packed-bed regenerator
columns are required, and the reversing flow operation will requifc the necessary valving
and associated control systems. On the other hand, no external tar cracking reactors are
required, and these can be expensive items. It is assumed that the RFSG equipment cost

EC0)rrsc 18 related to the equipment cost by a simple constant factor F:
(ECio) is related to the UGETC i b impl f:
(ECyp) arse = 3451F my,"™" (5.14)

Values of F of 1.0 and 1.5 are considered in the study. The manufacturer of the pilot-scale
RFSG used in the JOULE project to which this study is linked has estimated that the value
for F could be close to 1.0. However, anecdotal evidence based on industrial experience at
a range of scales indicates fhat slagging gasifiers usually cost significantly more than non-

slagging gasifiers [132]. The values of 1.0 and 1.5 are therefore considered to correspond

to optimistic and pessimistic scenarios.

The equipment cost of the RFSG at a given biomass input might be expected to vary to a
limited degree with the air oxygen concentration, as the volumetric flows of gas can
change significantly at certain locations. However, this variation is difficult to estimate,

and has therefore been ignored.
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For both the RFSG and the UGETC modules, the equipment cost is taken to include any
fan requirements for the air supply to the gasifier. Power supply to the fans will form part
of the estimated 5% overall parasitic power demand (Section 2.5.3.3).

It is assumed that all direct costs additional to the equipment cost will be identical for the
RFSG and UGETC modules at a given biomass input, so that the element of total plant
cost attributable to the RFSG module (TPC;g)rrsc is given by:

(TPC\4) gesc = (TPCg)yoere +(ECp) pese _(ECIO)UGETC (5.15)

or:

(TPC\y) prsc = 7627 mp"%® +3451(F —1)m,, """ (5.16)

This has been assumed on the grounds that both systems are in effect three reactors of
comparable size with comparable electrical, instrumentation and civil requirements, and it

would be unfair to allocate indirect costs at a different level in each case.

5.4.2.2 Labour

The labour requirement per Sl:liﬁ Lo for both gasifiers is taken from Toft [40]:
L, =1.91m,,**" i (5IT

where mpy is biomass dry flow rate (kg/s).

The worksheet for the RFSG is shown in Appendix 2 Section A2.4, and that for the
UGETC in Appendix 2 Section A2.5.
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6 IC ENGINE

This chapter deals with the IC engine module of the BGES (see Figure 2.1). The module

receives product gas from the product gas quench (Section 7.3), and generates electricity.

6.1 IC Engines on Low Heating Value Gas for Power Generation

6.1.1 Engine Design and Performance

At capacities of less than 5 MW,, the high capital cost of gas turbine combined cycle
options renders them uneconomic for power generation [12]. The conventional Rankine
cycle with steam turbine also suffers from high capital cost at small scale, as well as low
overall efficiency (<20%) in power-only mode [10]. The gas turbine in simple cycle, while
having lower capital cost, is also rt;latively inefficient at these scales (<25% thermal

efficiency) as well as being highly intolerant of impurities in the fuel gas [133,134].

Reciprocating internal combustion (IC) engines on the other hand combine low capital cost
with high efficiency at small scale. Modern designs can deliver overall electrical
efficiencies of 40% or more. As a result the IC engine is widely held to be the preferred

prime mover for biomass gasification systems at scales of less than 5 MW, [7,12,13].

The design aspects of IC engines have been extensively dealt with elsewhere
[135,136,137], and attention will only here be drawn to those features of relevance to low

heating value gas operation.
6.1.1.1 Main Engine Types

There are two main types of IC engine suitable for fuelling with low heating value gases.
In spark ignition (SI) types (Figure 6.1) the charge is ignited by a high-voltage spark. SI
engines may operate on 100% gaseous fuel without any requirement for a pilot fuel, at
relatively low compression ratios (<12). In compression-ignition (CI) types (Figure 6.1)
the charge ignites spontaneously due to the high temperatures achieved in the compression

process. Accordingly CI engines operate at higher compression ratios (>12), and with
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gaseous fuel it is necessary to admit a pilot charge of diesel oil to the cylinder to provide

the combustion source; the engine is therefore “dual-fuel”.

Both of these main types have been used successfully with low heating value gases of
various kinds, including biomass gasifier product gas [138,139,140,141,142,143].
However, most installations operating on biomass gasifier product gas have suffered to an
unacceptable degree from the problem of condensable tars in the product gas, which result
in the build-up of damaging deposits on valves and other surfaces [21,144]. IC engines
operating on product gas require tar levels of 100 mg/Nm?® or less for these problems to be

tolerable in magnitude [22], levels rarely achieved by existing gasifiers (see Section 5.1.2).

high-voltage

diesel fuel
k pl i
spark plug injection
air and fuel —» - — combustion airin —» — — combustion
mixture in roducts out = roducts out
i ; A p _r A\ p

Figure 6.1 1C engine types - a. spark ignition, b, compression ignition

From the modelling results presented in Table 5.5 and discussed in Section 5.3, product
gas LHVs in the present application fall in the range 3.5-10 MJ/Nm’, depending
principally on the level of oxygen enrichment of the gasifying air. This compares with
around 35 MJ/Nm® for natural gas, 18 MJ/Nm® for landfill gas and 23 MJ/Nm® for biogas

(from anaerobic digestion).

In both SI and dual-fuel CI engines running on gas, the gas is mixed with the required
amount of combustion air. Mixing can take place at a single point, before or after a

turbocharger if present (a turbocharger is a small turbine/compressor combination for

134



extracting energy from the engine exhaust gas to raise the pressure of the incoming gas
before admission to the cylinder). Alternatively mixing can take place at multiple points
just upstream of each cylinder inlet valve. Multiple point injection is usually associated

with larger engines (>1 MW,) [145].

The ratio of air to fuel may be varied to suit the particular engine or operation. A
traditional Slhengine will operate at an air-fuel equivalence ratio A (ratio of actual oxidant
to the stoichiometrically correct amount, or that required for complete combustion) close to
1.0. More modern “lean-burn” designs may operate at As of about 1.7-2.0 in order to
reduce peak temperatures and thus reduce formation of NOx (a strong function of
temperature - see Section 6.1.1.3), often with pre-chamber ignition to improve combustion

(particularly at sizes >1 MW) [145].

CI engines commonly operate at a A of about 1.7 at full load to ensure complete
combustion and avoid “detonation” (see below), but have higher NOx emissions than SI

engines because of the higher combustion temperatures involved.

Hydrogen as a fuel gas is highly prone to detonation, or pre-ignition of the gas in the
cylinder in front of the advancing flame as a result of the elevated temperatures and
pressures being generated by the combustion process. Detonation can cause serious
damage to cylinder components; hence the presence of significant quantities of hydrogen
in the fuel gas can give rise to problems. These are exacerbated by high compression
ratios which increase temperatures, but reduced by high As which reduce temperatures.
Problems would be most likely to be encountered therefore in high-compression-ratio CI

engines, or in conventional SI engines operating at A~1.

In biomass gasifier product gas, hydrogen content is typically 10-20% by volume (or 1-2%
by weight). Fortuitously, however, the other main constituent of product gas, CO, has
excellent detonation resistance, and this offsets to some extent the effects of H,. The net
effect is that the detonation tendency of biomass gasifier product gas is usually not

significantly worse than methane, the design fuel for most gas?fucled engines [146].
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6.1.1.2 Efficiency and Power

In stationary power applications, dual-fuel CI designs have generally been able to achieve
overall (brake thermal) efficiencies up to 10% above SI engines as a result of their higher
compression ratio. In modemn designs employing turbocharging and intercooling, the gap
has narrowed as a result of the greater potential for efficiency improvement by these
methods in the SI engine. Both SI and CI engines are now able to achieve overall
efficiencies to electricity in excess of 40% on natural gas for the power range of interest
here [147,148,149]. When lower heating value gases are used, this efficiency tends to fall,
although only by a small amount (~2-5%) in modern well-designed engines [15].

More importantly the use of a lower heating value gas tends to result in a fall in the engine
power output at a given speed (a de-rating). The fall in power results directly from the use
of the lower heating value gas, or more importantly the lower heating value mixture. If it
is assumed that overall efficiency is unchanged, shaft power delivered is then proportional
to the energy supplied in the charge. Volumetric input of the charge is unchanged, as
speed is constant and volumetric efficiency - actual mass induced per cylinder divided by
theoretical maximum mass based on cylinder volume at standard temperature and pressure
- is also constant. Shaft power delivered is therefore proportional to the mixture heating
value expressed in MJ/Nm®. This mixture heating value falls as the fuel gas heating value
falls, resulting in a fall in power which can be as large as 40%, the actual amount being

dependent on the gas composition and the equivalence ratio (see Section 6.2.3 and 6.2.4).

| The fall in efficiency results from the increased significance of mechanical losses. Brake

thermal efficiency 775 may be expressed as:

P, -P, P,
o "o )

Mg =

where P is indicated power (rate of work delivered to the piston), Py is the loss in power
due to mechanical friction, Q the thermal input and #; the indicated efficiency [135].
Mechanical losses are a function of the engine dimensions, design and speed only, so that
P, remains virtually constant for a given engine and speed if mixture heating value falls.

Also, the rate of work delivered to the piston can be taken to be proportional to the rate of
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heat release from the fuel - that is, »; remains constant if mixture heating value falls (in
fact, #; will tend to fall slightly as combustion duration increases with the poorer-quality
fuel) [145]. However, Q falls with falling mixture heating value for a given engine and
speed. Hence brake thermal efficiency falls. The degree to which it falls is a function of
the size of the mechanical loss in relation to the indicated power, and this is a function of

engine design.

Another factor affecting power output is gas temperature. When running on product gas in
close coupling with a gasifier, the gas temperature may be above ambient, and the higher
this temperature the lower the mass of gas induced per stroke, i.e. the lower the volumetric
efficiency and hence the lower the power generated. The gas should therefore be cooled as
much as practically possible before entering the engine. One manufacturer of gas engines
for operation on wood gasifier product gas suggests a gas temperature of 40°C at a relative
humidity of 80% as suitable [143]; this has been assumed as a fixed value in the present
- study.

The falls in power due to fuel gas composition and temperature may be compensated to
some extent by the use of air with an enriched oxygen content, if facilities are available to
provide this. The provision of air separation plant for this purpose alone would probably
be unjustified economically; however, in a BGES already incorporating an air separation
plant for the supply of dxygen-cnﬁched air to the gasifier, an increase in output to supply
the engine as well may merit consideration. The use of oxygen-enriched air improves the
mixture heating value and hence the power delivered. However, it is reasonable to place
an upper limit on the level of enrichment equivalent to that required to fully restore the
design shaft power of the engine. This level will clearly be dependent on the amount of
derating. Exceeding this value will result in overloading of the engine, with consequent

reduced life and additional maintenance.
6.1.1.3 Emissions

The issue of emissions has become increasingly important, and has resulted in a trend

towards lean-burn SI éngincs for these types of application.
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Most nitrogen-bearing compounds in the product gas (e.g. NH;, HCN) will have been
removed by wet scrubbing in an atmospheric-pressure system such as is being considered
here [50], and NOx emissions arising from any nitrogen in the biomass feedstock (“fuel”

NOx) are not normally therefore of concern.

“Thermal” NOx emissions on the other hand arise from the reaction of air-borne nitrogen
and oxygen, and are a strong function both of temperature and of excess oxygen. At a
given excess oxygen level, thermal NOx emissions from biomass gasifier product gas
might be expected to be rather lower than from natural gas, gasoline or diesel because of
the lower peak flame temperatures involved; nevertheless, levels can still be high enough
to present a problem, particularly if oxygen-enriched air is used as the oxidant leading to
higher temperatures. In lean-burn SI designs which operate at high excess air levels (high
A) , the peak temperatures in the combustion chamber are much reduced, and this effect far
outweighs the increaéed availability of oxygen leading to large reductions in thermal NOx

emissions.

Dual-fuel diesels operate at high excess air levels already, for reasons given in Section
6.1.1.1, but also operate at higher temperatures than traditional SI engines due to the higher
compression ratio. Furthermore, the use of a diesel pilot fuel accounting for typically 10-
15% of thermal input [141] gives rise to emissions of SOx and particularly NOx associated
with the sulphur and nitrogen in the diesel fuel, and clean-up equipment may be required.
Diesel is in addition a fossil fuel, and would therefore give rise to net emissions of carbon
dioxide. Dual-fuel engines have hitherto been regarded as attractive for gasifier systems
because of théir ability to continue operation if the supply of product gas is interrupted, by‘
reverting to 100% diesel operation. However the stringency of emissions legislation is
only likely to increase in the future, and the advantages of lean-bumn SI engines in this

regard will become more compelling.

Emissions of CO are another concern with IC engines operating on biomass gasifier
product gas. Some CO arises from incomplete combustion in the cylinder, but the far
greater contribution comes from the fuel gas which bypasses the combustion process due
to overlap between the inlet and exhaust valve cycles. This can reach 1-2% of the total
fuel input in high-speed SI engines, leading to levels of exhaust CO in the range 0.2-0.3%
by volume [143,146]. The magnitude of this potential problem depends very much on the
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gas composition and on the specific design of the engine, but the problem does not lend

itself easily to solutions within the engine and a back-end oxidation catalyst may be

required [146].
6.1.1.4 Combined Heat and Power

IC engines are suitable for CHP applications, with heat recovery possible both from the
exhaust gases and from the engine cooling system to raise steam or hot water for an
external demand. Typical energy flows in 2 modern high-efficiency IC engine are given in
Table 6.1. As can be seen, nearly 30% of the energy leaves the engine as sensible heat in
the exhaust gases, and about the same as sensible heat in the engine cooling water. In
theory, therefore, up to 60% of the energy in the fuel is available for recovery as sensible

heat.

However, full recovery is not realised in practice, for two important reasons. Firstly, heat
exchanger or boiler desién will place a lower limit on the exit temperature of the exhaust
gases, which will depend on the required temperature of the water or steam. Secondly, the
engine coolant maximum temperature is usually less than 120°C [136], and this is therefore
a low-grade heat source only suitable for hot water or very low pressure steam production.
If the external demand is for high grade heat in the form of steam at more than, say, 2 bar,

this source cannot be used.

Table 6.1 Typical energy flows in a modern IC engine [136]

ENERGY FORM IN ouT
Chemical energy in fuel 100%

Shaft power 35%
Sensible heat in exhaust gas 30%
Sensible heat in cooling water 30%
Radiative and convective losses 5%

In practice, therefore, the maximum achievable ratio of useful heat to electrical power will

usually fall in the range 0.5-1.0 for steam production, and 1.0-2.0 for hot water production.
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For this reason, CHP schemes using IC engines are used almost exclusively for hot water
applications rather than steam, particularly at the scale 'range of interest here [23] (see
Section 2.4). Even heat-to-power ratios of 1.0-2.0 are low in comparison with those of
conventional steam turbine CHP systems which may reach 3.0 or more [150]. This need
not be a problem as electricity is a much higher-value product than heat. However, a
typical heat-to-power demand ratio in industry is about 3.0 '[151]. In order therefore to be
viable, a CHP system based on an IC engine will probably be grid-connected, with suitable

commercial arrangements available for export of power to the grid.
6.1.2 Operational History - Major Installations

Although there has been much work done at research level on the operation of IC engines
on low heating value gas, there have been relatively few BGESs which have achieved a
substantial number of operational hours, and very few that have done so on a commercial
basis. Most installations have been at scales of below 100 kW, and detailed information
regarding performance and operational experience is hard to obtain. There have been
many ambitious proposals (particularly during the 1980s) which have not resulted in
operational installations for various reasons, and also many installations which have been

commissioned but which have had very short lives owing to technical or economic

difficulties.

Of the successful installations above 100 kW, which have achieved over 3000 hrs
operation, one of the most notable has been that at Loma Platd in Paraguay [17,152]. Two
Imbert downdraft gasifiers producing 1800 Nm’h each of product gas from wood chips
supplied three Waukesha modified SI gas engines, each producing 465 kW,. The system,
supplying electricity for a local private agricultural co-operative, operated for in excess of
72,000 hours between 1983 and the early 1990s, when it was decommissioned due to the
installation of a national grid. The product gas, with an average net heating value of 5.1
MJ/Nm®, passed through a dust separator, a washer and an electrostatic filter before ’
entering the engines. The high availability of the system (>90%) attests both to the success

of these measures, and to the relative initial cleanliness of the product gas.

Three French-owned projects are worthy of mention. The SEBI sawmill on the Ivory
Coast has a Touillet downdraft gasifier coupled to a Mercedes SI gas engine which delivers
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200 kW,.. The gasifier takes chipped wood waste from the mill, and fulfils the mill’s
electricity requirements. The system has operated since late 1989, and had achieved over
15,000 hours of operation by 1996 [18]. An almost identical system has operated at the
Briollet woodworks in France, this time in CHP mode. Again, more than 15,000 operating
hours had been achieved in 1996 [18]. The third project is at Bora-Bbra in Tahiti, where
an Entropie “external recycling” gasifier gasifies coconut husks, and the product gas fuels
a Duvant dual fuel diesel engine delivering 190 kW.. Over 4000 operating hours have
been achieved here, but the current status is unknown [18].

There are a few large pilot plants which have operated intermittently, including the Daneco
plant at Villasantina, Italy where RDF and wood chips have been gasified in a 3 MWy,
thermal input updraft gasifier coupled to a 620 kW, dual fuel diesel engine [18], and the
Studsvik plant in Sweden where a 2 MWy, thermal input circulating fluid bed gasifer and
tar cracker have been coupled to a 500 kW, dual fuel diesel engine [13].

A number of systems of interest are either under construction or have only recently been
commissioned; these include that at Harboore in Denmark, where two Jenbacher 0.7 MW,
gas engines have recently been coupled to a 6 Mwm thermal input Volund updraft wood
chip gasifier, and that at Espenhain in Germany where an 850 kW, gas engine will be
- supplied by a 4 MWy, thermal input HTV downdraft gasifier operating on demolition and

waste wood.

An illustration of the difficult history of BGESs is provided by the Degrad des Cannes
system in French Guyana, owned by EdF of France [153]. This was to have been a very
large unsubsidised operation comprising three 6.7 MW, modules, each with a BIODEV
fluidised bed gasifier feeding a large Pielstick dual fuel diesel engine. The gasifiers were
to take wood chips, obtained largely from clearing the virgin tropical forest. In the event,
one module was built in 1987, but the gasifier was never coupled to the engine. Initial
trials with the gasifier revealed problems of wood preparation and feeding, slagging due to
the high silica content o_f the wood, excessive phenol and naphthalene content in the gas,

and major difficulties in gas cleaning. The developer pulled out, leaving the dual-fuel

engine untested. °
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6.1.3 Selection of Engine Type

For the present study, it was decided to incorporate a modern SI gas engine in lean-burn
configuration. Technical reasons for this choice related to NOx emissions are given in
Section 6.1.1. In addition, SI engines are less prone to detonation problems, which could
be highly relevant in view of the high hydrogen content of biomass gasifier product gas.

Lastly, some manufacturers are beginning to offer this type of engine on a commercial
basis specifically for low heating value gases, partly as an evolution from their successful
application in landfill schemes. It is therefore becoming possible to obtain good estimates
of costs and performance. In contrast, the activity with dual-fuel diesel wood gas engines
that was evident in the 1980s seems to have largely ceased, with the major manufacturers
that were active at the time no longer prepared to offer suitable designs.

6.2 Engine modelling

6.2.1 Modelling Approach

The engine model has to be able to accept product gas composition and flow rate as
variable inputs, and from them calculate the following (note that product gas temperature is
fixed - see Section 6.1.1.2):

e generator electrical output

e oxygen-enriched air flow rate, if used

e exhaust gas flow rate, composition and temperature

e cooling water flow rate (given inlet and outlet temperatures)

e engine/generator capital cost.

Capital cost is based on actual data and related to some calculated feature of engine design.
However, three options are available for remaining calculations. A fully theoretical
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approach could calculate the required quantities from considerations of fluid dynamics,
heat transfer, combustion theory and mechanical forces. This is however a complex
undertaking, requiring many assumptions and the availability of a large amount of physical
and chemical data, as well as extensive computing resources. A wholly empirical
approach could also be used, based on data from real engines operating on a range of
product gas compositions under a wide range of operating conditions. However, suitable
data is not available from the literature, and a dedicated experimental programme would
therefore be required which is beyond the means of the present study. A semi-empirical
approach has therefore been adopted, in which calculations of stoichiometry are combined

with estimations of efficiency and heat flux based on manufacturers’ data.
Note that gas clean-up and quench prior to the IC engine is covered in Section 7.4.
6.2.2 Acquisition of Performance and Cost Data

A number of manufacturers of SI gas engines with experience of operation on low heating
value gases were appl;oached. The most complete response was from Jenbacher Energic of
Austria, who manufacture integrated engine/generator sets for stationary power and CHP
applications covering the scale range of interest in the present study [147]. Jenbacher have
operational experience with a wide range of gaseous fuels including natural gas, biogas
from anaerobic digesters, landfill gas, coke gas, and product gas from both wood and
MSW gasification. They are the market leaders in this area, and are likely to become
involved in a large proportion of new bio-energy installations of this type, particularly in
Europe. Their data have therefore been used in the empirical parts of the engine model,

supported where possible by other sources.

-

The data extracted from performance sheets supplied by Jenbacher for use in the engine
model comprised the following [154]:

e Overall thermal efficiency (LHV basis) for a range of models operating at full load
on natural gas (36 MJ/Nm®)

e Energy balance between shaft power, exhaust sensible heat, cooling water sensible

heat and losses for one engine model operating at full load on biogas (23 MJ/Nm®)
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e Engine cooling water temperature at inlet and outlet
e Generator efficiency (virtually constant for all models and fuels)

e Capital cost for a range of engine/generator models, skid-mounted and delivered in
gen-set configuration (not including heat recovery equipment, i.e. cooling water

heat exchanger or exhaust gas heat exchanger)

The Jenbacher range of engines are lean-burn designs, for low NOx operation. They
.opcrate at an air-fuel equivalence ratio (A) of about 1.7 for a range of gas types, including
natural® gas, propane gas, biogas and gasifier product gas [155]. All models are
turbocharged and intercooled, and operate at a fixed nominal speed of 1500 rpm for 50 Hz

applications.

The cooling water circuit collects waste heat from a number of systems including the water
jacket, engine oil and intercoolers. All models in standard configuration are designed to
accept cooling water at between 40°C and 70°C (intercooler inlet temperature) and reject it
at 90°C. It is possible to operate at higher cooling water temperatures, but at the cost of
further derating.

The energy balance data (referenced to ambient conditions) for a model 320 engine

running on biogas‘were [154]:

 Shaft power 37.8 %
e Exhaust sensible heat 26.9 %
e Cooling water sensible heat 31.0%

e Unrecoverable losses 43 %
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Values reported for Waukesha gas engines running on product gas from Imbert wood chip
gasifiers were 29-30 % shaft power, 30 % exhaust, 32% cooling water and 8-10% losses
[156]; however, these were stoichiometric engines without turbocharging or intercooling,

and as such had a lower efficiency and a hotter exhaust.
The gmératur efficiency was within the range 97 £ 1 % for all models and fuel types.

The remainder of the data are presented in Table 6.2.

Table 6.2 Engine performance and cost data ﬁnm Jenbacher Energie [154]

Aston University

Hlustration removed for copyright restrictions

6.2.3 Description of Model

The IC engine model receives product gas composition and flow rate data from the gasifier
model, and calculates electrical power output, exhaust gas composition, temperature and
flow rate, and engine coolant flow rate. If operation with oxygen enriched air has been

specified, it also calculates the oxygen demand.

It is assumed that the product gas scrubber upstream of the engine inlet (Section 7.4) is
designed so that the product gas leaves the scrubber at 35°C and saturated with water
vapour, and is then re-heated using some source of surplus low-grade heat to 40°C (Section

6.1.1.2) and about 80% relative humidity [143]. The re-heating is necessary to avoid
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condensation in the turbocharger inlet. The heat required is less than 0.01 MW in all cases,

and the process has not been explicitly modelled.

If figures for air are used [157], moisture concentrations at engine inlet would range from
about 0.046 to 0.056 by volume for the spread of product gas compositions encountered.
Saturation humidities for product gas are not thought to differ greatly from air (they do not
for a typical flue gas, for example); however, in the absence of data for product gas, a

constant moisture concentration of 0.05 by volume has been assumed throughout.
6.2.3.1 Performance Calculations

The spreadsheet-based model begins with a calculation of product gas thermal input, air-
fuel ratio, exhaust gas composition and exhaust gas flow rate, based on product gas
composition and flow rate. The air-fuel equivalence ratio, A, is set to a fixed value of 1.7
for all calculations (Section 6.2.2). In the absence of data indicating otherwise, a
combustion efficiency of 100% is assumed; that is to say there is sufficient residence time

in the cylinders for the combustion reactions to proceed fully to completion.
Product gas lower heating value LHV is calculated using the following formula [158]:

LHV =10768[H, )5y, +12696[CO],,, +35866[CH, 1¢y (6.2)

where gas concentrations are expressed as volume fractions, and LHV in kJ/Nm”.

The total fuel-air mixture volume flow rate W3, (m®/s) is then calculated; this is assumed to
be constant for a fixed engine type operating at a fixed speed (see Section 6.1.1.2).

The thermal input of the same engine running at the same speed on natural gas may then be
calculated. This is necessary as the ratio of thermal input on natural gas to thermal input
on product gas-is used to calculate the brakc thermal efficiency. If the engine is running on
oxygen-enriched air, an iteration is performed at this point to calculate the level of
enrichment necessary to restore the thermal input on product gas to be equal to that on

natural gas - that is, to remove the derating.
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Brake thermal efficiency is calculated semi-empirically in the following manner. Indicated
efficiency #; is assumed constant for a given engine and speed regardless of mixture

heating value (see Section 6.1.1.2), so Equation 6.1 may be re-expressed as:
Mg =G —— = o (6.3)

where C;; are constants for a given engine and speed. Denoting natural gas and gasifier

product gas by NG and PG respectively:

' (O) ne
il —AC — A=/NG .
(M5) 26 1 { 1 (ﬂx)m}(Q) (6.4)

The efficiency data presented in Table 6.2 show a clear distinction between the large 600
series engines and the smaller models. However, for the purposes of this study which is
generic in nature, a function for brake thermal efficiency based on linear regression with

mixture volume flow rate was derived:

(15) e =1.65%’—+38.27 (6.5)

22

where N;; is the number of engines in the installation. This is assumed to be three in all
cases. Three units is the minimum number of units likely to be acceptable for reasons of

security of energy supply and gas utilisation [159].

As efficiency varies with engine size, the constant C; will be a function of efficiency. To
derive this function it is necessary to obtain an estimate of the ratio of thermal efficiency
with product gas to that with natural gas. Jenkins and Goss [160] obtained a figure of 0.76
for the ratio of efficiency on product gas to that on gasoline, using a small SI engine
operating at an equivalence ratio of 1.0, connected to a conventional downdraft gasifier
operating on wood chips. Reed and Das [126] propose a range of 0.6-0.85 for the same
‘ parameter. However, Jenbacher, in tests using product gas from gasified wood on one of

their 200 series engines, obtained a ratio of efficiency on product gas to efficiency on
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natural gas of 0.95 [15]. The gas contained (on average) 23% CO, 9% H, and 2% CHs.
The much higher ratio obtained by Jenbacher may be explained by the engine technology
improvements (in particular turbocharging/intercooling and operating in lean-burn mode)

which have taken place since the earlier studies. The Jenbacher figure has been used here.

From the air-fuel mixture compositions of natural gas and the product gas used in the

Jenbacher tests, it was calculated assuming the same volumetric flow rate that:

@@-=1.225 6.6
O e

and from Equations 6.4, 6.6 and the efficiency ratio of 0.95:

C, =1.222(7;) vo (6.7)

(9%
Drs

(15) re =1.222(15) e —0-222(15) v (6.8)

With brake thermal efficiency, the model then calculates overall thermal efficiency and
finally electrical output. Electrical output on natural gas is also calculated, as this is used

in a correlation to derive capital cost (see below).

In addition, brake thermal efficiency is used to calculate the fraction of thermal input
leaving as sensible heat in the cooling water and the exhaust gases. It is assumed that the
ratio of exhaust to cooling water heats given in Section 6.2.2 is fixed, and that the
unrecoverable losses fraction of 4.3% is also fixed. Exhaust gas temperature and cooling
water flow rate may then be calculatéd,_ with the assumption that the gas specific heat is

evaluated at the mean of actual gas temperature and 0°C.

Cooling water inlet and exit temperatures of 60°C and 90°C respectively have been

chosen, reflecting typical values for Jenbacher engines [147,154].
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6.2.3.2 Cost Calculations

Capital Cost

- The delivered capital cost or equipment cost (EC;;), expressed in £°000 (1998), can be
correlated with the engine power output on natural gas (P,3)nc using data from Table 6.2:

EC,, =N, (0.21(—1)2—’-)£+74.4J (6.9)

22

where the regression coefficient R? is 0.987 (Figure 6.2). The number of units N,; is 3 (see
Section 6.2.3.1). A 1982 study by ENFOR produced data leading to a very similar
correlation for natural gas spark ignition gen-sets (updated to £°000 1998) [161]:

EC =0215(P),; +23.1 (6.10)

with the more modern data differing only by an increased fixed cost, probably related to
features such as more sophisticated control systems (see also Figure 6.2).

Equipment cost is then related to the element of total plant cost attributable to the IC
engine module (7PC,;) by the following function derived as described in Section 2.5.1
using Tables 2.4 and 2.5 (the factors C; (Table 2.4) were assigned low values in this case
to reflect the fact that the IC engine is a factory-assembled, skid-mounted unit requiring
relatively little installation):

TPC,, = 4.60 EC,,"™ (6.11)

with TPC»; in £000 (1998).
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Aston University

Nlustration removed for copyright restrictions

Figure 6.2 1C engine equipment cost [154,161]

Each skid-mounted gen-set will be fitted with an air-cooled radiator of finned-tube design
for the cooling water circuit, regardless of whether it is for a power-only or a CHP
installation, and this is accounted for in the total plant cost of Equation 6.11. In the case of
a CHP installation, the radiator would be used to cool any surplus flow not going to the
CHP circuit, or to dump heat in the event of a CHP system failure. If a band dryer is being
used, the heated air from the radiator is used as the drying medium.

Labour

The labour requirement -pcr shift L for the engine and generator is taken from Toft [40]:
Ly, =0.485P,"" (6.12)

where P is the net electrical power exported from the generator (MW,).

The worksheet for the IC engine is shown in Appendix 2 Section A2.6.

6.2.4 Effects of Gas Properties

This section reports the use of model described in-the previous section to examine the

effect of product gas composition, LHV and temperature on engine design point’
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performance. This work was a deliverable to JOULE project JOR3-CT97-0130 (see
Section 1.4). Although the results are not used in any way in the system model, they
nevertheless help an understanding of the system model results presented in Chapter 9.

The use of oxygen-enriched air in the engine is not considered, as it was not an option
addressed by the JOULE project. Neither is transient behaviour considered; it is assumed
that the system will be capable of true steady-state operation and that significant random
fluctuations in product gas quality will be absent. Systematic variations in gas quality with

time due to the regenerative air pre-heating cycle are predicted to be small (Section 5.3.4).

Results from the gasifier performance evaluation (Tables 5.8 and 5.9) have been used to
define the range of gas compositions and LHVs of interest. The H,O concentration in the
product gas entering the engine was assumed to be constant at 0.07. The engine

equivalence ratio was fixed at 1.7 (Section 6.2.2).
6.2.4.1 Product Gas LHV

In these calculations, dry LHV was varied between 4.5 and 9.5 MJ/Nm® at a constant
thermal input to the engine of 10 MWy, This was achieved by allowing the combined
concentrations of H,, CO and CH4 to vary while keeping the relative volumetric
proportions constant at the average values of Tables 5.8 and 5.9 - roughly [H]):[CO]:[CH/]
= 23:21:1. The ratio of [CO;] to [N;] was also fixed at the average value of 0.7. Product
gas inlet temperature was 40°C. Results are shown in Figure 6.3, as a plot of electrical
efficiency, derating from natural gas operation and capital cost per kilowatt against LHV.

As LHYV increases, the imposed derating from natural gas operation reduces sharply, such
that at a LHV of around 9 MJ/Nm® no derating at all occurs, despite natural gas having a
LHV of 36 MJ/Nm®. This is because the stoichiometric air requirement for combustion of
CO or H; is a quarter (by volume) of that for CHs. As derating reduces, efficiency
increases slightly and capital cost per kilowatt falls, particularly at the lower end of the
LHV range. If the LHV can be increased from 4.5 to 6.5 MJ/Nm’, capital cost per kilowatt
will fall by around 14%. There are therefore stong marginal benefits from increasing LHV
(by O enrichment to the gasifier), particularly at the lower end of the LHV range.
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Figure 6.3 Effect of product gas LHV on engine performance

6.2.4.2 Product Gas Composition

At a given LHV, the only significant variation in product gas composition to occur is that
in the ratio of H, to CO (CH, only ever being present in very small quantities). The ratio
[H;)/[CO] is typically around 1, but ranges from 0.7-1.7. In the model calculations,
[H;)/[CO] was allowed to vary across this range, while the thermal input was again fixed at
10 MWy, and the dry gas LHV at 7.0 MJ/Nm’. The ratio [CO,)/[N:] was fixed at its
average value of 0.7, and [CH,] was set to zero. Product gas inlet temperature was again
40°C. Results are shown in Figure 6.4, with the same parameters as in Figure 6.3 plotted
this time against [H,])/[CO]. The vertical scales are the same as in Figure 6.3.

The higher the [H;)/[CO] ratio at a fixed LHV, the more derating from natural gas
operation is imposed, although the relationship is weak. This occurs because at higher
ratios, the combined H, and CO flow is greater (H> has a lower LHV than CO) so the air
requirement is greater. Electrical efficiency falls marginally, and capital cost per kilowatt
rises marginally. The strongest influence on [H}/[CO] ratio is biomass moisture content -
the higher the moisture, the higher the ratio. These results therefore present a weak

argument in favour of more drying, but the effects are minor.
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Figure 6.4 Effect of product gas [H])/[CO] ratio on engine performance
6.2.4.3 Product Gas Inlet Temperature
The effect of product gas inlet temperature was investigated for a single typical gas
composition (dry LHV 7.0 MJ/Nm®), at a thermal input of 10 MWy, Results are shown in

Figure 6.5, with the same parameters as in the previous figures (at the same scales) plotted
this time against gas inlet temperature.
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Figure 6.5 Effect of product gas inlet temperature on engine performance
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As gas inlet temperature increases, derating increases because of decreasing volumetric
efficiency. Electrical efficiency falls slightly, and hence electrical output. Engine size
increases because of increased volumetric flow, resulting in an increase in capital cost per
kilowatt. Clearly product gas inlet temperature should be minimised within practical
constraints, although the benefits are not large in magnitude; reducing gas inlet
temperature from 80°C to 40°C gives an increase in electrical output of about 0.7% and a

reduction in capital cost per kilowatt of about 4%.
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7 OTHER SYSTEM MODULES
7.1 Recéption, Storage and Screening

This single module accepts wet biomass as delivered by lorry to the plant gate, and
supplies the biomass to the drying module (Figure 2.1). It incorporates reception (i.e.
acceptance of the feed from the delivery lorry and transfer to storage using a frond-end
loader), storage and screening of the biomass prior to drying, and buffer storage between
the drying and gasification steps. These process stages are assumed not to change the
biomass in any way (other than in terms of size distribution). In reality, there may be small
effects of drying (or wetting), degradation and spillage, but these are difficult to estimate

and have been ignored.

The screening stage removes all chips with a mean diameter less than 10 mm for systems
witﬁ the rotary dryer without burner and the band dryer. This is equivalent to 15% of the
delivered biomass (Section 2.4). It may be possible to sell this rejected feed to an external
customer; otherwise there will be a disposal cost incurred. No firm economic information
was available on either option, however, and these financial streams are therefore not
represented in the model. In the case of systems incorporating the rotary dryer with
burner, the <10 mm biomass fraction‘ is used as an energy source (Section 2.1). The full
biomass size range is dried, with no pre-screening stage necessary (Section 4.3.1.3, Figure
4.1).

At scales of less than about 30 MWy, thermal input, the feedstock handling requirements
can be met by a single front-end loader [40]. These consume approximately 30 litres per
hour of diesel [162]. Assuming an average daily utilisation of 4 hours and a European
average diesel price of £0.48/litre [163], this gives an annual fixed utility charge for diesel
of £21,000 for all systems. Average daily utilisation may vary with system scale, but such

detail is considered beyond the scope of the present work.

In order to avoid a lengthy data collection exercise, functions for the element of total plant
cost attributable to the reception, storage and screening systems (7PC;) has been derived
- from the model of Toft, who carried out such an exercise in an earlier study [40].

Application of Toft’s model for gasifier engine systems in the range 1-5 MW, results in the
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following expression for total plant cost attributable to the reception, storage and screening

systems:

TPC, = 679.6my,*>* (7.1)
and excluding a screening stage:

TPC, = 552.2mj,"** (7.2)

with TPC, in £°000. TPC; as a proportion of the UGETC capital cost (TPC)o) falls in the
range 11-18% with screening and 9-15% without screening, for the range of inputs of
interest. Labour requiremeﬁts are also taken from Toft [40], who gives a fixed value of 0.2
persons per shift for each of reception (including handling), storage and screening at scales

of below about 30 MWy, thermal input, giving a total of 0.6 persons per shift.

The reception, storage and screening model is part of the Other System Modules
worksheet, which is shown in Appendix 2 Section A2.11.

7.2 Air Oxygen Enrichment Plant

The air oxygen enrichment plant module takes atmospheric air and delivers oxygen-
enriched air to the gasifier module (Chapter 5) and in some cases to the IC engine module

(Chapter 6) - see Figure 2.1.
7.2.1 Plant Types

The most widely used method of separating oxygen from air is the cryogenic process,
where air is compressed, cooled, partly condensed and fed to a distillation column where
the separation takes place. This process delivers very pure oxygen. However, it is only
appropriate for applications requiring over 100 tons of oxygen per day, far in excess of the

present application, because of its high capital cost and energy requirement [164].
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Non-cryogenic methods with much lower costs have evolved for smaller applications, and
those and less demanding of high purity levels. These include pressure and vacuum swing

adsorption (PSA, VSA) techniques and membrane techniques.

PSA and VSA plants use a zeolite molecular-sieve adsorbent to remove nitrogen, carbon
dioxide and water from a stream of compressed air. When after a period the sieve becomes
saturated, it is regenerated by reducing the pressure. This is done at above-atmospheric
pressure in a PSA plant, and under vacuum in a VSA plant. Two parallel sieves are

employed, so that a continuous stream of oxygen is produced.

Vacuum operation delivers higher efficiency but at a higher capital cost, and VSA systems
tend to be used at higher output requirements. The British Oxygen Company (BOC)
recommend PSA systems for oxygen demands below about 15-20 tonnes/day of pure
oxygen, and VSA systeﬁls for oxygen demands above this, up to a maximum of about 100
tonnes/day [164). In both systems, oxygen is delivered with an actual purity in the range
90-95%.

Membrane separation, as the name suggests, involves the use of a membrane (imllow-ﬁbre
or other) to separate a stream of compressed air into its components as it passes through.
As nitrogen will pass the membrane more easily than oxygen, these systems are used
primarily to produce a pure nitrogen stream (up to 99.5%); the residual stream is oxygen-

enriched, but only up to a maximum of around 40% concentration [165].

The attraction of membrane systems for the production of oxygen-enriched air lies in their
simplicity and relatively low cost. However, they are only available commercially at
demands of up to about 1250 Nm*/h of nitrogen [164]. At a nitrogen pﬁn‘ty of 95% and a
residual stream oxygen concentration of 40% this equates to 420 Nm’/h of pure oxygen
delivered in the residual stream, or about 14.4 tonnes/day. -

The anticipated range of demands from the air separation plant in the present study is from
about 3 to about 30 tonnes/day of pure oxygen. In view of the inability of membranes to
supply above about 14 tonnes/day, or above an oxygen concentration of 40%, it was
decided to specify a PSA system for oxygen demands below 15 tonnes/day of pure oxygen,
and a VSA system for demands above 15 tonnes/day. Each would supply oxygen at the
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minimum purity level of 90%. As the maximum design air oxygen concentration for the
RFSG is 60% by volume (Section 5.1.3), there is no need to specify greater than this
minimum purity level; to do so would represent increased equipment cost and increased

electrical power requirement.

Cost and power consumption data were obtained from BOC for both PSA and VSA types,
and these are presented in Table 7.1. Both types would be leased, with the lease fee
including installation, commissioning and maintenance but excluding civils and electrical

cabling. The lease fee also includes water cooling (PSA) and water treatment (VSA)

systems.
Table 7.1 Air separation plant data (BOC)
Generator Type | Generator Output Annual Power
(90% O; by vol.) Lease Fee Consumption
(tonnes/day) (£/annum, 1999) (kW)
PSA 3 31,000 50
PSA 10 57,000 175
PSA 20 90,000 350
PSA 30 117,000 525
VSA 20 110,000 - 245
VSA 30 144,000 306
VSA 40 173,000 408
VSA ] 58 221,000 590

7.2.2 Performance Calculations

In the performance calculations, the oxygen demands from the gasifier and engine modules
are simply added. Each is calculated in a similar way, assuming that the air separation
plant delivers oxygen at a purity of 90% by volume which is subsequently mixed with

ambient air to achieve the desired oxygen concentration.
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By performing a mass balance on the oxygen and nitrogen components, the flow rate of
pure oxygen from the air separation unit mo required by either the gasifier or the engine

can be obtained from me-following expressions:

mog = m-{glzl (1 .304 [OZ ]A9,2l — 0.274) (7.3)
Mog = M 492 (1.304[0, ]Ao,zr -0.274) (7.4)

where my9 and [O;]49 are the enriched air flow and concentration to the gasifier, and my;;
and [O;]42; are the enriched air flow and concentration to the engine. Mass flows are

expressed in Nm’/s.

Best-fit correlations for electrical power consumption are derived from Table 7.1, for the

PSA system:

P, =2470m " (7.5)
and for the VSA system:

P, =1153m,,"% (7.6)

where P is electrical power demand in kW. The correlation coefficient R’ is greater than
0.97 in both cases.

7.2.3 Cost Calculations

Relationships for the lease charge for each system are derived from Table 7.1. For the
PSA system:

LC, =0.744(262.4m,,"") a.7)

and for the VSA system:
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LC, =0.744(373.5m0>* ) (1.8)

where LCy is lease charge per annum in £°000 (1998). The factor 0.744 is included to
adjust the annual payments to real terms, over a project lifetime of 20 years with an
inflation rate of 3% (Equation 2.7, Section 2.5.3.1). In both cases, the correlation
coefficient R? exceeds 0.99.

In addition to the annual lease cost, there will be an initial capital outlay to cover civil
work and electrical cabling. From the method described in Section 2.5.1 using Tables 2.4
and 2.5, the capital cost on a total plant cost basis of the civil work and electrical cabling
only (denoted ADD) may be related to that of the entire module excluding the civil work
and electrical cabling (denoted EXC) by the expression:

(TPC,) ,pp =0.822(TPC;) g " ©(71.9)

-with total plant cost in £’000 (1998). TPCgxc is the capital cost that is avoided by leasing
the plant instead, and may be estimated by assuming that the lease fee is equal to the fixed
charge on a capital loan of TPCgxc. This fixed charge is calculated to be 0.134TPCpgyc,
assuming a 20 year project life and a discount rate of 12% (Equation 2.6, Section 2.5.3.1).

Thus:

L C 0.856
(TPC,) o0 =0.822(m) (7.10)

PSA systems require a substantial flow of water for compressor cooling. The cooling
system is recirculating, with a small cooling tower. The make-up water requirement

calculated from:

Mgy = o.m[f’-J (7.11)

160



where mc7 is expressed in tonnes/hour, and P; is compressor power in kW [166]. VSA
systems do not require water for cooling, but have a small water requirement for sealing of
about 0.7 tonnes/hour'independent of size [166]. This water requires treatment on-site

prior to use.

The charge for metered water is taken as £0.785/m’ after correction to 1998 values [43]. It
is assumed that the water would be sufficiently uncontaminated and within the required
temperature limits for discharge to the drain rather than the foul sewer; charges for this are

small, and may be ignored.
There are no maintenance or labour charges to be included.

The air oxygen enrichment plant model is part of the Other System Modules worksheet,
which is shown in Appendix 2 Section A2.11. '

7.3 Heat Recovery Plant

This module comprises a maximum of four separate heat recovery operations, three of

which are associated with CHP systems and the other with hot air drying (see Figure 2.1):

¢ hot water production from the engine coolant circuits in a CHP system (the engine

coolant water heater) - see Chapter 6

e hot water production from the hot product gas in a CHP system (the product gas

water heater) - see Chapter 5

e hot water production from the engine exhaust gas in a CHP system. (the engine

exhaust gas water heater) - see Chapter 6

e hot air production from the engine coolant circuits for use in a band dryer (the

engine coolant radiator) - see Chapters 4, 6

For CHP systems, the hot water heat recovery circuit is illustrated in Figure 7.x.
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Figure 7.1 CHP heat recovery circuit

For each of these operations, a particular type of heat recovery device has been selected
and a model constructed. In the case of hot air production from the engine coolant circuits,
the heat recovery device is the radiator supplied with the IC engine (Section 6.2.3.2), and
all costs for the radiator are incorporated in the functions for the IC engine. Otherwise, a
labour requirement of 0.1 persons per shift has been allocated to each of the CHP sjfstcm
devices, as recommended by Ulrich [167].

7.3.1 Engine Coolant Water Heater

Some 30% of the thermal input to the IC engine is removed by the engine coolant circuits,
appearing as a flow of hot water at 90°C which must be cooled externally to 60°C before
returning to the engine (Section 6.2.2, Section 6.2.3.1). This is done either by a radiator, or
in the case of a CHP system by a parallel combination of a radiator and a heat exchanger
heating water for the CHP heat circuit — the engine coolant water heater (Figure 7.1). The
radiator in a CHP system may be required if heated air is required for drying, if the
maximum flow of hot water attainable exceeds the amount that can be further heated to
process conditions in boilers or secondary heaters (unlikely in hot water CHP systems such

as this), or if the CHP system fails for some reason.

Liquid-to-liquid heat exchange is most commonly accomplished in industry with shell-and-
tube heat exchangers [168], and this has been assumed here. Shell and tube heat
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exchangers are relatively compact and give high heat transfer coefficients. A typical

design is shown in Figure 7.2.
l shell fluid in tube fluid in
[1] /
o = — —s > “
/ :— Jj [ .\ J". ‘; /
M==S=s=====cm
N “32 == SE== _\>
i

N

\ 4 tube fluid out

shell fluid out

Figure 7.2 Shell-and-tube heat exchanger
7.3.1.1 Performance Calculations

The performance calculation for the engine coolant water heater is a simple energy balance
to find the quantity of heated process water, as all other parameters are supplied to the

model. The process water mass flow is given by:

(TCN — TC.‘29)

= 7.12
s = (TW29 -7 W2?) ( )

where m is mass flow, T temperature, and subscripts # and C denote CHP and cooling
water respectively. Heat loss from the heat exchanger casing is ignored; in a well-designed
example this should be no higher than 1-2% [169]. The cooling water inlet and outlet
temperatures are fixed at 90°C and 60°C (Section 6.2.3.1). The process water inlet
temperature is the return temperature from the heat customer, and is fixed at 50°C (see
Section 2.4 and Figure 7.1).

The heat exchanger pass arrangement is assumed to provide pure counter-flow, so that the

minimum temperature difference (the “pinch” temperature) occurs at the point at which the

process water leaves and the cooling water enters: this is set at 5°C, to give a fixed process
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water outlet temperature of 85°C. The cooling water mass flow is therefore the single
variable input; this is equal to the total cooling water flow (supplied from the IC engine
sub-model) less any flow to the radiator to provide drying air. Equation 7.12 can therefore
be reduced to:

Mys =12m4,, (7.13)

7.3.1.2 Cost Calculations

Equipment cost (EC3s) for shell-and-tube heat exchangers is taken from Garrett [170],
suitably modified for units and time-base:

EC,; =0.898 4,,"% (7.14)

where A3 is heat transfer area in m?, and cost is in £000 (1998). Heat transfer area is
calculated from:

Ay = On
UyFc (AT ) 1

(7.15)

where Qs is heat transferred (calculated either from the cooling or CHP water streams),
U,s is an area-based overall heat transfer coefficient, Fc is a counter-flow factor indicating
the approximation to pure counterflow (set arbitrarily to 0.9) and AT5 is the temperature
difference with LM denoting log-mean [171]. A value of 938 W/m?K has been used for
Uss [172]. |

The element of total plant cost attributable to the engine coolant water heater (7PCjs) is

then related to equipment cost by the following expression derived as described in Section
2.5.1 using Tables 2.4 and 2.5:

TPC,y =9.76EC,, (7.16)

with costs again in £°000 (1998).
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The worksheet for the ECWH is shown in Appendix 2 Section A2.8.
7.3.2 Product Gas and Engine Exhaust Gas Water Heaters
Recovery of the sensible heat in hot gases to heat water in a small-scale CHP system is

usually carried out in a fire-tube “boiler” (Figure 7.3), so known as these devices can also
be fired directly, and/or used to raise steam [171,173,174].

Aston University

Nlustration removed for copyright restrictions

Figure 7.3 Firetube boiler (fired type)

Fire-tube boilers are effectively shell-and-tube heat exchangers in which the water is the
shell fluid while the tubes carry the hot gases. Two of these devices are required in a
BGES for CHP (Figure 7.1). The first recovers heat from the gasifier product gas, and is
referred to as the product gas water heater. The second recovers heat from the engine

exhaust gas, and is referred to as the engine exhaust gas water heater.

Figure 2.3 shows the locations of the product gas water heater and engine exhaust gas

water heater in a typical BGES flowsheet.
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7.3.2.1 Performance Calculations

As with the engine coolant water heater, the performance calculation is an energy balance
to find the quantity of hot water produced, all other parameters being supplied to the

model. The hot water mass flow is given by the expressions:

P Meis €18 To17 = Tors) (1.17)
w1 -
(wa _HWIT)

My, = Mgy Con T30 —To3) (7.18)
(Hys, —Hyy)

where c is specific heat evaluated at the mean temperature, H enthalpy, and subscript G
denotes gas. Equation 7.17 refers to the product gas water heater, Equation 7.18 to the
engine exhaust gas water heater. Heat loss from the heat exchanger casing is again
ignored; data for this type of bc')ilcr under these conditions could not be obtained, but losses

are expected to be small given the relatively low operating temperatures.

All the input parameters in this case are variables supplied from other module sub-models.
In the case of the product gas water heater, gas composition, flow rate and temperature are
supplied by the gasifier model. In the case of the engine exhaust gas water heater, the
same parameters are supplied by the engine model. If the rotary dryer with burner has
been selected, similar parameters are supplied by that sub-model for the burner exhaust

gases (see Section 4.3.1.3); the two flows are then mixed (Figures 2.7, 2.9).

The minimum gas outlet temperature is assumed to be 20°C above the hot water outlet
temperature, or in this case 120°C (see Section 2.4); the differential of 20°C is a typical
minimum figure for gas-air heat exchangers in applications such as this, representing a

sensible compromise between efficiency and cost [23].
In the case of the product gas water heater, this minimum value is always set (see below).

In the case of the engine exhaust gas water heater, the minimum value is set only if a rotary

dryer with burner is being used (Section 4.3.1.3, Figures 2.7, 2.9), or if the minimum
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temperature exceeds that required by the dryer. Otherwise, the gas outlet temperature is
defined by the dryer model (or in the case of the band dryer, the associated heat exchanger
model - see Section 7.3.3 and Figures 2.11, 2.13).

Feed water comes from the engine coolant water heater at 85°C, with any deficit made up
directly from the CHP return at 50°C (see Figure 7.1)., The product gas water heater is
assumed to have first call on the feed water from the engine coolant water heater, with any
. remainder going to the engine exhaust gas water heater. If the feed water to either of the
heaters is a mixture of engine coolant water heater water and return water, an iteration is

necessary to calculate the actual mix, as the feed water inlet temperature and total flow rate

are functions of each other.

It is assumed that there are no contaminants in either gas which would cause corrosion or
fouling problems in the water heaters. Corrosion from H3S has caused problems in syn-gas
coolers on coal-fired IGCC systems [175], and chlorine-based corrosion is a well-known
problem in boilers firing high-chlorine fuels [176]. However, sulphur and chlorine are
present only at very low levels in woody biomass [91]. It is therefore assumed necessary
only to maintain gas temperature above the water dew point, which cannot exceed 100°C

at atmospheric pressure.
7.3.2.2 Cost Calculations

Equations 7.14 and 7.15 for shell-and-tube heat exchangers are again uéed to calculate
equipment cost. The counter-flow factor is again taken as 0.9, but the area-based overall
heat transfer coefficient set to a much lower value of 50 W/m’K [174,177] because of the

poor heat transfer on the gas side.

The element of total plant cost attributable to the product gas water heater and the engine

exhaust gas water heater (TPC;s and TPCj, respectively) is again calculated in each case

using Equation 7.16.

The worksheet for the product gas water heater is shown in Appendix 2 Section A2.9, and
that for the engine exhaust gas water heater in Appendix 2 Section A2.10.
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7.3.3 Engine Coolant Radiator

The engine coolant radiator is supplied with the IC engine, and is assumed to be of the
usual air-blown finned-tube design [128]. The hot air is either vented to atmosphere, or
ducted to a band dryer (in which case the radiator fan is assumed to be sufficiently sized).

7.3.3.1 Performance Calculations

A performance calculation is only necessary if a band dryer is selected, when it is
necessary to calculate the amount of cooling water needed to supply the required drying air
flow. In power-only cases, this is simply a check to ensure that enough heat is available.
In CHP cases, the amount of cooling water needed is subtracted from the arn;)unt supplied

by the engine, to give the flow to the engine coolant water heater.

The performance calculation is again a straightforward energy balance to find the quantity

of hot water required given the hot air demand. The hot water mass flow is given by:

Mo = M 455 € 425 (Taas = Tg24) (7.19)
e (H gy —H o)

Heat loss from the engine coolant radiator outer casing is ignored. The engine coolant
radiator is assumed to have a cross-flow type arrangement of relatively low effectiveness,
with the air assumed to leave the heat exchanger at a temperature 10°C below the water

outlet temperature.
The worksheet for the engine coolant radiator is shown in Appendix 2 Section A2.7.

7.4 Product Gas Quench and Waste Water Treatment

The product gas quench scrubber receives hot product gas either directly from the gasifier
(Chapter 5) or from the product gas water heater in CHP systems (Section 7.3.2), and
supplies cool product gas to the IC engine (Chapter 6).
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- There has been much effort devoted to technologies for the removal of tars from biomass
gasifier product gases [22,178]. In the present study it is assumed that such equipment is
unnecessary, as f(;r both gasifier types the tar content of the product gas leaving the gasifier
is assumed to be only 100 mg/Nm® (Section 5.4), an acceptable level for an IC engine
(Section 6.1.1.1). However, in a CHP system the product gas will leave the product gas
water heater with a temperature of at least 100°C, and in a power-only system without
water heaters the temperature will be around 400°C. The IC engine requires the product
gas temperature to be a maximum of 40°C at 75% relative humidity (Section 6.2.3). It is

therefore necessary to provide a water quench to achieve the necessary cooling.

The product gas is assumed to leave the quench saturated at 35°C, with a moisture content
taken as that for saturated air at 35°C, i.e. about 5% by volume (Section 6.2.3). The
quench is a recirculating scrubber with a cooler. The environmental issues surrounding
condensates from biomass product gases can present problems for on-site treatment [179];
however it is assumed here that the excess water condensing from the product gas is
discharged to the foul sewer for treatment at the local water works (see below). The quench

scrubber also serves to provide a final stage of gas clean-up.
Garrett [170] gives correlations for the equipment cost (EC;p) of a quench scrubber as a
function of volumetric gas throughput. This is assumed to include a cooler, recirculation

pump etc. For the range of interest here the equipment cost is virtually constant at £11,100
after adjustment to 1998 values. -

The element of total plant cost attributable to the product gas quench module (TPCj) is
related to equipment cost by the following expression derived as described in Section 2.5.1
using Tables 2.4 and 2.5: - |

TPC,, =4.57 EC,,"*®  (120)

with costs in £000 (1998).

The following fixed rates are taken to apply for industrial water consumption and effluent
discharge to the sewerage system (Yorkshire Water data, corrected to 1998 values [43]):
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Water use: £0.785/m’
Effluent conveyance to treatment plant:  £0.229/m’
Effluent primary treatment: £0.226/m>

An additional charge is then made for effluent secondary treatment based on chemical
oxygen demand (COD) and settleable solids (5%5), both expressed as mg/1:

cop StS
COD | 0222 |+ 35 « £0.126 7.21
[ 905 | J [314>< J (7.21)

“These rates multiplied by the relevant annual consumption or discharge rates gives the total

cost per annum paid to the water company.

The effectiveness of the quench scrubber in removing any remaining tars or particulates is
not likely to be high. Tar and particulate levels reaching the scrubber are 100 mg/Nm? in
each case (Section 5.4). It is assumed that 50 mg/Nm® of tars in the product gas are
removed (50% efficiency of removal), and in addition an arbitrary 50 mg/Nm’® of
particulates’ are removed. The water discharged is taken to be the water content of the
product gas iﬁto the scrubber less the water content of the product gas out of the scrubber -
i.e. the system is fully recirculating and only the condensate is discharged. The chemical -

oxygen demand of tars is taken as 2 kgoo/kgrar, based on a typical tar analysis [180].
No specific labour allocation is made for the quench scrubber.

The product gas quench and waste water treatment model is part of the Other System
Modules worksheet, which is shown in Appendix 2 Section A2.11.

7.5 Grid Connection

The grid connection module takes the net electrical output from the generator coupled to
the IC engine (Chapter 6), and exports it to the grid.
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The element of total plant cost attributable to the grid connection module (7PCj,) is taken
from Toft [40]:

TPC,, =234.4 P, (7.22)

where P is power exported to the grid, and TPCj4 is expressed in £°000 (1998). There are

no labour costs associated with grid connection.

The grid connection model is part of the Other System Modules worksheet, which is
shown in Appendix 2 Section A2.11.
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8 SYSTEM MODEL

8.1 Modelling Approach - \

The modelling task being undertaken here is the development of a steady-state
representation of an entire power/CHP system from biomass delivery to power/heat export.
The purpose is to predict a number of key overall performance and economic parameters in
response to a set of fixed and variable inputs, to enable consistent comparisons and
technical and economic optimisation. The accuracy and detail demanded is equivalent to
that of a scoping or pre-feasibility study for a new project, in which initial technology
choices are to be made, order-of-magnitude costs estimated, operational characteristics
investigated and certain key design point values fixed. Detailed design of individual
components leading to accurate performance and cost data is not the intention here, nor
would it be practical without an actual site and a firm proposal in mind (and the project

finance necessary for such an undertaking).

The review of Chapter 3 revealed two main approaches to system studies of this kind. In
one, process flow software is used, usually to resolve complex conﬁguraﬁons. This
generally requires a process flow software package to be already available - few studies of
this kind would have the time and resources to develop its own. In the other, spreadsheets

(or simple dedicated codes which would nowadays be constructed on spreadsheets) are

used.

Process flow software packages are generally expensive, and are intended primarily for the
modelling of processes with a large number of components, streams and interconnections
whose optimisation is complex. They do not generally give costs. The packages mostly
operate in a similar way. There are a number of well-known commercially available
general-purpose software packages for the process industries, with a very wide range of
functional capabilities, property databases and component sub-models; examples would
include ASPEN PLUS [181] and HYSIS [182]. Some of these will have power-plant
component sub-models in their libraries (combustors, boilers, steam turbines etc.), but all

allow the addition of user-defined sub-models as required.
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ASPEN PLUS has been used quite extensively for modelling of large power systems,
including biomass gasification combined cycle systems [44,45,46,64] (see Section 3.2). In
addition, many companies and institutions have developed their own process flow software
packages dedicated to their particular application, and there are a number of these specific

to power systems, some of which are available commercially [e.g. 183].

Process flow software is probably essential for the modelling of large scale power systems
with complex steam or combined cycles. However, to use such codes to model the small-
scale, reiatively simple power system under consideration here is not considered justified.
Even if a package were already freely available, the task would utilise only a tiny part of
the package’s capabilities, while still requiring the creation of a number of user-defined
sub-models. The setting up of each co;'lﬁguration can be time-consuming, and the initial

familiarisation period with the software can be lengthy.

The alternative approach is to construct a spreadsheet model using one of the widely
available office packages such as Microsoft Excel or Lotus 1-2-3. The usual practice is to
allocate a worksheet to each system component to be modelled in detail, and then to pass
key variables between worksheets [40,51]. The modeller usually has to start from a clean
sheet with such an approach, as pre-prepared models or sub-models are rarely available in
the right format if at all. However, this can be an advantage, as the level of detail to which
each system component model is represented can be kept to the minimum necessary for the
purposes of the study, and the overall model can be designed specifically to meet the

requirements of the study.

Spreadsheet models tend to be easy to reconfigure and fast to run, provided the system
being modelled is relatively simple. They are also more directly accessible to the non-

expert or unfamiliar user.

The spreadsheet approaéh is adopted here, using the Microsoft Excel package. The
package allows user programming with the Visual Basic code, so that routines can be
created for such tasks as multi-variable iterative procedures and rapid calculation of
multiple cases. This facility makes such packages well suited to studies such as the present

one in which a large number of configurations and design point options are to be tested.
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8.2 Model Structure

The model is structured as a series of worksheets. These comprise an initial inputs
worksheet, followed by a set of worksheets containing the module sub-models, and ending
with a results worksheet. The various module sub-models have been described in the
preceding chapters. The Inputs and Results worksheets are described in the following

sections.
8.2.1 Inputs Worksheet

The Inputs worksheet is shown in Appendix 2 Section A2.1, and is reproduced here as
Figure 8.1. It contains the principal variables the user is able to manipulate to form a
standard “case”, although there are numerous other constants throughout the model
(Section 8.4) which may be modified by the expert user in light of new or better

information.
The principal variables are grouped into three categories:

e configuration variables select the gasifier type, the dryer type, the output type
‘(power-only or CHP) and whether or not the IC engine is fed with oxygen-enriched
air (RFSG only);

e condition variables specify the biomass cost, the biomass dry flow rate to the
gasifier, the biomass moisture content to and from the dryer and the air oxygen
concentration to the gasifier (RFSG only);

e cost calculation variables specify the discount rate (the “cost of money”), the

project life, the plant number and the RFSG capital cost factor (Section 5.4.2.1).
The model is capable of calculating either a single or multiple sets of the five condition

variables. In the case of multiple sets, each condition variable is specified as a list of up to

ten values, and the model calculates all permitted combinations of the listed variables.
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Figure 8.1 Inputs worksheet
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The worksheet checks to see whether entered data are within the range o_f model
applicability, and also that the biomass moisture content from the dryer does not exceed
that to it. The biomass moisture contents to and from the dryer may be equal, in which

case no drying stage is included in the system.
8.2.2 Results Worksheet

The Results worksheet is shown in Appendix 2 Section A2.12, and is reproduced here as

Figure 8.2. Results are tabulated with the variables in rows and the cases in columns.

The condition variables from the Inputs worksheet are summarised in the first rows.
Thermal input to the gasifier is also calculated, on an LHV basis (it is necessary to reduce
the biomass dry LHV at zero moisture by the latent heat of evaporation of the actué.l post-
-dryer moisture). Following this the key results from each system module worksheet are

summarised. Finally overall system parameters are calculated. These include:
e Net electrical output
The output from the IC engine generator multiplied by a factor of 0.95 to represent
an assumed parasitic consumption of 5% for all components excluding the dryer

and the air oxygen enrichment plant [40], less the specific calculated electrical

consumption of the dryer and the air oxygen enrichment plant (if present).
e Hot water production
The total production from the product gas and engine exhaust gas water heaters.
e Qverall efficiency
The net electrical output in MW, plus the net heat output in MW (CHP cases),
divided by the thermal input to the system in MW, including the undersize biomass

" fraction. Again, the biomass dry LHV at zero moisture (Table 2.3) must be reduced
by the latent heat of evaporation of the actual pre-dryer moisture.
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Total plant cost

The sum of all the system module costs (on a total plant cost basis), expressed both
in absolute terms and as a cost per installed kW (of electricity for power-only cases,

electricity plus heat for CHP cases).

Biomass cost

The annual cost of biomass, found from the cost per tonne and the flow rate to the
gasifier, taking account of the biomass undersize fraction and the system annual

capacity factor (Section 2.4).
Total production costs

The sum of all system module annual operating costs and annual costs of capital,

plus the biomass cost.

Revenue from heat sales

It is assumed that the district heat scheme can take all the heat offered by the CHP
plant, but will only purchase from the CHP plant if it is clearly the cheapest way of
obtaining the heat. It is also assumed that no price support mechanism or other

means of subsidy operates for heat sales.

Thus the price of the heat is calculated as that equivalent to the cost of meeting the
same heat load by installing a new natural gas boiler (capital plus operating costs),
less the cost of installing any piping infrastructure to bring the heat from the CHP
plant to the district heating scheme, less an arbitrary discount of 10% included to

provide a clear price incentive for selection of the CHP option.

The 1998 European Union average natural gas price to industry of 0.89 p/kWh is
used [184]. The boiler thermal efficiency is taken as 0.9 [150], and arbitrary values
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are chosen for water mean pipe velocity (0.5 m/s) and distance from CHP plant to
district heating scheme connection point (500m). The installed cost for insulated
piping is taken from Garrett [170]. The factors of Table 2.5 are used to convert to a

total plant cost basis.

From these data the following best-fit correlation is obtained for price of heat HP
(£/kWh):

HP = (70.0+8.70In Q)™ (8.1)

where Q is heat exported in MWy, For a typical heat flow of 3 MWy, the heat
price is 0.013 £/kWh, or about 30% of the average price paid for electricity by
industry in Europe in 1998 [184].

o Cost of electricity

Total production cost, less revenue from heat sales (CHP cases), divided by the
annual electrical output in kWh ((taking account of capacity factor).

' 8.2.3 Data Flows

Tables A2.1-A2.16 in Appendix 2 give all parameters passed in to and out of each sub-

model. For each parameter, the sending or receiving sub-model is also given.

8.3 Model Operation

The model operates by automatic formula calculation within the spreadsheets,
supplemented by Visual Basic routines for overall management and certain more complex

calculation procedures.

On completing a set of entries in the Inputs worksheet (Appendix 2 Section A2.1), the user

launches the model by clicking one of three buttons on the worksheet; single run, new
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table or add to table. These, combined with the configuration variable selections, initiate

the appropriate Visual Basic routines.

For single run operation the model calculates only the case defined by the condition
variables specified in the “Conditions — Single Run” sector of the worksheet. Any pre-
existing data on the Results worksheet (Appendix 2 Section A2.12) are deleted. For new
table operation the model calculates all the cases defined by the condition variables
specified in the “Conditions — Multiple Runs” sector of the worksheet, entering the results
for each case on the Results worksheet as a series of columns, having first deleted any pre- ‘
existing data. Add to table operation is similar, except that the model does not delete pre-

existing data, instead adding the new data from the first free column.

For each case calculated, if there is insufficient heat available to meet the specified drying

duty, an error message is returned and no data are written to the Results worksheet.

There are two Visual Basic calculation routines, for power-only and for CHP cases
involving the rotary dryer (with or without an integral burner). These invoke a proprietary
solver within Excel to perform the design point calculation, which in one case involves an

optimisation (Section 4.3.1.3).

The overall calculation for power-only cases is a linear process. For CHP cases however,
the inter-linkage of the principal fuel path and the heat recovery circuit adds complexity.
The logic of the calculation procedure is designed to maximise hot water prdduction in
each case. The inlet and outlet gas temperatures of the various heat recovery devices and
the flow rates through them are either fixed, or calculated in the upstream and downstream

module sub-models. The heat recovery circuit is illustrated in Figure 8.3.

The hot water temperature delivered by the engine coolant water heater is below that
required for the district heating scheme, and this water is therefore supplied to the product
gas water heater and engine exhaust gas water heater as feed water (Figure 8.3). Hot water
production from the engine coolant water heater is independent of both the product gas
water heater which has a fixed gas exit temperature, and the engine exhaust gas water
heater which is downstream. If there is insufficient water supply from the engine coolant

water heater to meet the combined capacities of the product gas water heater and engine
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exhaust gas water heater, then district heating scheme return water is added (Figure 8.3). If
on the other hand the calculated hot water supply from the engine coolant water heater
exceeds the combined capacities of the product gas water heater and engine exhaust gas
water heater, the surplus engine coolant is in fact diverted from the engine coolant water

heater to the radiator.

scheme supply E |
water, 100 C

ey _ _| engine coolant
____ schemeretum l f T _[ water heater J I ;
water, 50 C i 1 :
S 1
ECWH water, ro | !
=== 85C i !
v v \ AL
engine district
product gas
exhaust gas water heater heating
water heater scheme

Figure 8.3 CHP heat recovery circuit

The model calculates product gas water heater hot water production first, allowing it to
consume as much feed water from the engine coolant water heater as it can. Engine
exhaust gas water heater hot water production is then calculated using any remaining feed

water from the engine coolant water heater.

It is assumed throughout that the demand of the district heating scheme exceeds the
capacity of the CHP system at all times, as the aim is to compare system performance. In
any real application, it is likely that the CHP system would have to be selected and
designed to meet a fixed heat demand profile in the most efficient manner, taking into

account probable variations in demand on an hourly, daily, weekly or seasonal basis [150].
8.4 Fixed Parameters
The principal fixed parameters used within the various modules of the system model and

the values ascribed to them have all been defined in the relevant sections of the main text.

They are summarised here in Table 8.1, together with a section reference.
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Table 8.1 Fixed parameter values - system model

Parameter Unit Value | Section
Biomass mean specific heat (dry) cp kJ/kgK 1.4 24
Biomass lower heating value (dry ash free) LHVp Ml/kg | 18.64 24
Ambient temperature T} °C 15 24
Engine coolant temperature at ECR/ECWH inlet Ty 27 °C 90 6.2.3.1
Engine coolant temperature at ECWH/ECR outlet Tz6.29 °C 60 6.2.3.1
Water temperature at ECWH inlet Ty;; °C 50 2.4
Water temperature at ECWH outlet Ty, °C 85 7.3.1.1
ECR air outlet temperature T 4z4 °C 50 7.3.2.1
PGWH and EEGWH min. gas outlet temperature Tg;9 37 °C 120 7.3.2.1
PGWH and EEGWH water outlet temperature Ty;9 32 °oC 100 2.4
Parasitic power requirement (non-specific) % 5 2533
Plant replication number 10 2.5.2
Overall annual capacity factor ' 0.8 2.4
Overall annual availability % 90 24
Ambient pressure : kPa 101.3 24
Ambient relative humidity % 80 24
Ambient air oxygen conccnttﬁtion [0:]o byvol. | 0.21 24

| Specific heat of water e kJ/kgK | 4.188 2.4
Rotary dryer biomass temperature out 74 °C 75 43.1.3
Rotary dryer gas temperature out 7y °C 110 43.1.3
Rotary dryer wall heat loss Q13 % 8 4.3.1.3
Rotary dryer maximum gas temperature in 7g; °C 300 | 43.1.3
Biomass burner air-fuel equivalence ratio A5 1.8 43.1.3
Band dryer air temperature in Ty °C 50 4324
Band dryer specific fan power P; W/m? 839 4.3.2.4
Band dryer air velocity onto bed m/s 0.840 | 4.3.24
Product gas temperature at engine inlet 73, °C 40 6.2.3
Product gas moisture conc. at engine inlet [H,0]c2; by vol. 0.05 6.2.3
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Table 8.1 (contd.)

| Parameter Unit Value | Section
Number of engines per plant N, 3 6.2.3.1
Engine air-fuel equivalence ratio 4;; 1.7 6.2.3.1
Generator electrical efficiency % 97 6.2.2

8.5 System Evaluation

8.5.1 Structure

The approach taken in the application of the model for system evaluation is to calculate a
comprehensive matrix of cases (Section 8.5.2), and then to extract and analyse certain data
so as to meet the primary study objective of analysing performance and cost characteristics
(Section 1.4), while also evaluating the energy utilisation options presented in Section 2.1.
The study is divided into two parts, power-only systems and CHP systems, for which
results are presented separately. In each case, results are presented in sections

corresponding to the principal study variables:

the effect of air oxygen enrichment (RFSG only)

- air supply to gasifier
- air supply to IC engine

the effect of gasifier type

the effect of dryer type -

the effect of biomass moisture content

- moisture content before drying

- moisture content after drying

- omission of drying stage (UGETC only)
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e the effect of biomass feed rate (system scale)

e the effect of biomass cost

The issue of whether to combust the surplus biomass (representing the fraction too small to
be gasified) in order to provide additional heat for drying or hot water generation is
considered under the effect of dryer type, where one of the options incorporates a burner

and associated preparation equipment for this purpose (see Section 4.3.1.2).

Some of the variable input parameters are likely to be pre-defined and therefore beyond the
control of the system designer in a real application. These are biomass feed rate (i.e.
system scale), biomass cost, pre-dryer biomass moisture content, and RFSG capital cost
. factor. Baseline values have been assigned to each of these, which are used throughout the

presentation of results unless the effect of that specific parameter is being considered:

Biomass feed rate: 1.5 dt/h (~7 MWy,)
Biomass cost: £20/dt
Pre-dryer biomass moisture content: 75% db
RFSG capital cost factor: 1.0

These baseline values are assumed when reporting the optimum power-only and CHP
configurations in Sections 9.1.1 and 9.2.1. The cases having these input parameters are

referred to henceforth as the baseline cases.
The parameters used in this study to perform comparisons are:
e Cost of electricity (COE), expressed in p/kWh

e System overall efficiency (770r), expressed as a percentage

e System total plant cost per kilowatt (electrical) installed (TPC), expressed in £kW,
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e System heat-to-power ratio (HPR), defined as MWy, exported divided by MW,
exported (for CHP only)

The most important of these is COE, which takes into account both 7oy and TPC and is the

main determinant of a project’s economic viability.

To reflect the uncertainties inherent in the derivations of these parameters, the study

considers values of COE to the nearest 0.1 p/kWh, 1oy to the nearest 0.1%, TPC to the
nearest £10/kW, and HPR to the nearest 0.01.

8.5.2 Definition of Cases
The system model was run for a total of over 15,000 cases, defined by the matrix presented
in Table 8.2, The parameter values have been selected to cover the ranges of interest

defined and justified in Section 2.4.

Table 8.2 Definition of system modelling cases (values for baseline cases in bold)

output type power-only, CHP
biomass input, dt/h _ 0.5, 1.0, 1.5, 2.0

| biomass cost at plant gate, £/dt 20, 50, 80
biomass moisture before drying, % db 50, 75, 100
dryer type band, rotary without burner, rotary with burner
gasifier type RFSG UGETC

ambient air,

IC engine configuration oxygen-enriched air ambient air
biomass moisture after drying, % db 10, 20, 35, 50 10, 20, 35, 50, 75, 100
air oxygen concentration, % vol. 21, 28, 40, 60 21
RFSG capital cost factor 1.0,1.5 n/a
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9 RESULTS
9.1 Power Only
9.1.1 Optimum Design (Baseline Cases)

The set of baseline cases was defined in Section 8.5.1 as those having a biomass feed rate
of 1.5 dt/h, a biomass cost of £20/dt, a pre-dryer biomass moisture content of 75% db and
an RFSG capital cost factor (if applicable) of 1.0. For power-only systems this

corresponds to 111 cases.

The optimum system design from this set (corresponding to that with the lowest cost of
electricity) is one comprising an RFSG operating without air oxygen enrichment, and a
band dryer drying the biomass to a final moisture content of 10% db. The main overall
performance and cost parameters for this case are given in Table 9.1 together with the
defining input data. A breakdown of total plant cost by system module in absolute terms is
given in Table 9.2, and a breakdown of production cost by cost type is given in Table 9.3.

Table 9.1 Overall parameters for optimum design (baseline cases) - power-only

INPUTS OUTPUTS
Gasifier type RFSG
Dryer type band
Biomass feed rate 1.5 dth
Biomass cost £20/dt
Air oxygen concentration 21% by vol.
Biomass moisture content (before drying) 75% db
Biomass moisture content (after drying) 10% db
RFSG capital cost factor 1.0
Power exported 2.31 MW,
Overall efficiency 28.8%
Cost of electricity 7.7 p/kWh
Total plant cost £1560/kW,
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Table 9.2 Total plant cost for optimum design (baseline cases) - power-only

System Module Total Plant Cost
£000

Reception, Storage, Screening 241

Dryer 245

Gasifier 1973

Gas Quench and Waste Water Treatment 19

IC Engine 961

Grid Connection 175

TOTAL 3614

Table 9.3 Production cost for optimum design (baseline cases) - power-only

Production Cost Type Proportion
Annual cost of capital 28.7%
Feedstock 19.8%
Utilities 3.6%
Labour 24.8%
Overheads 11.5%
Maintenance 11.5%

In Table 9.2, the dominance of the gasifier and IC engine as elements in 7PC is clear, in
particular that of the gasifier. In Table 9.3, the importance of labour cost in a relatively
small plant is clear. The other significant elements are annual cost of capital and
feedstock. Feedstock will increase in importance as the cost of biomass increases from the

relatively low baseline value of £20/dt.

A Sankey diagram showing the path of energy through the system for the optimum design
is shown in Figure 9.1. In the diagram, the width of the arrows is proportional to the
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Figure 9.1 Sankey diagram, optimum design, power-only
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energy flow. Values for energy flow are also given, normalised to a system energy input
of 100 in the form of wet biomass. Unlike elsewhere in this chapter where lower heating
values are used, the energy flows in the Sankey diagram are calculated on a higher heating
value basis, i.e. the energy content of water vapour includes the latent heat of evaporation.
This is greatly facilitates energy accounting. Hence the apparent difference between the

efficiency of 28.8% in Table 9.1 and the apparent value of 24% in Figure 9.1.
9.1.2 Validation

Where appropriate, the performance predictions of the various module sub-models have
been validated in the relevant chapters (for example, the gasifier in 5.2.3). The cost
predictions of the various module sub-models are based either on established correlations
of manufacturers’ data or on newly-obtained manufacturers’ data, and are therefore
effectively already validated. The present section deals with validation of the predictions

of overall system performance and economic parameters made by the full system model.

The results from the optimum case are cbmparcd in Table 9.4 with others for BGESs taken
from the limited number of comparable studies in the literature (Section 3.2). All cost data
have been updated to a 1998 base. Also included in Table 9.4 are the ranges covering all
the baseline cases without air oxygen enrichment in the present study (none of the

comparable studies considered air oxygen enrichment).

Table 9.4 Comparison with data for BGESs from other studies - power-only

Study Plant Power Overall Cost of | Total plant
number | exported | efficiency | electricity cost
MW, % p/kWh £/kW,
Present (optimum) 10® 2,8 28.8 79 1570
Present (range) 10® 1923 | 23.6-28.8 | 7.7-9.6 1570-1980
Toft [40] 10% 50 | 252 10.0 2300
Solantausta [39] 1* 4.9 33.9 9.5 3210
Solantausta [67] unspecified 2.0 23.9 8.7 2600
Heaton [59] unspecified 2.5 21.2 10.2 1280
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Data from the present study compare well with those from the other studies, particularly
when plant number is taken into consideration. The optimum COE is lower than all other
studies, but it is reasonable to expect this given the degree of optimisation undertaken in
the present study. If the range is considered instead, the central value of 8.7 p/kWh is
closer to the average of the other studies of 9.6 p/kWh. The values for TPC obtained by
the other studies show a much wider variation than those for COE, with the values of the
present study lower than all but one of the other studies. The annual cost of capital
typically represents only 30% of COE, so it is quite possible for TPC to show wide
variations while COE does not. TPC is subject to great uncertainty; for example, the level
of contingency can vary from 0% to 50% [39] and is almost arbitrary. Also, the particular
equipment types chosen in the studies of Table 9.4 vary widely. Unfortunately there are
numerous potential differences of assumption behind each of these sets of data, many of

which are hidden, and the level of detail available for comparison of precise methodologies

is limited.

The 1995 study by Toft [40] (Section 3.2.1) obtained a COE just above upper end of the
range of the present study, for a system exporting 5.0 MW, with a fluid bed gasifier with
cracker and a dual fuel diesel engine. The overall efficiency obtained of 25.2% is quite
close to the centre of the range of the present study (26.2%), but the TPC is well above the
upper end of the range. The high TPC is partly responsible for the relatively high COE;
the other responsible factor is feedstock cost, where Toft has assumed £27/dt (1998 prices)
before transport, compared with the present study’s £20/dt delivered. Toft’s was the only
study to report the consideration of learning factor, and express costs on a tenth plant basis

as in the present study.

The first of Solantausta’s two studies [39] (Section 3.2.6) obtained a COE close to the
upper end of the rangc of the present study, for a system exporting 5.0 MW, with a fluid
bed gasifier with cracker and a dual fuel diesel engine. In this case however, efficiency
was very high at 33.9%; this should have led to a very low COE, other things being equal.
COE was high for three reasons: first, 7PC was nearly double that of the present study (1*
plant costs are assumed); second, capacity factor was 0.57 compared to 0.8 in the present
study (again reflecting a first-of-a-kind plant); and third, feedstock cost was £36/dt
delivered.
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The second of Solantausta’s studies [67] (Section 3.2.6) obtained a COE very close to the
centre of the range of the present study, for a system with a fluid bed gasifier with cracker
and a high-efficiency spark ignition engine. The system output was 2.0 MW, - very close
to that in the present study. Efficiency however is towards the bottom end of the range of
the present study and TPC significantly above the upper end of the range (suggesting 1%
plant costs, although this is not specified). Furthermore, feedstock cost was higher than the
present study at £26/dt, and capacity factor was the same. This suggests some other
element of production cost must be substantially lower than in the present study to result in
the relatively low COE (e.g. labour, maintenance, overheads, discount rate), but

insufficient information is available to enable further investigation.

Heaton’s study from 1987 considered a system with a fluid bed gasifier and a dual fuel
diesel engine, and an output of 2.5 MW, - again very close to that of the present study.
COE was just above the upper end of the range of the present study, despite TPC being the
lowest of the studies considered. However the high COE is accounted for at least in part
by the low overall efficiency. No further analysis is possible due to the limited data
available in the project report.

The third round of UK Non Fossil Fuel Obligation contracts, awarded in 1998, attracted an
average price for projects generating from energy crops, agricultural or forestry wastes of
8.65 p/kWh, with an average project capacity of 13.3 MW,. By the time of the fourth
round in 1997, the average price had come down to 5.51 p/kWh with an average project
capacity of 9.6 MW,.. The optimum value of COE of 7.7 p/kWh obtained here is high in
comparison with the NFFO prices, but the project capacity is just 2.3 MW,. As will be
seen (Section 9.1.7), COE falls with increasing scale, and a tentative extrapolation to the
NFFO-4 average capacity of 9.6 MW, would see COE falling to around 5.0 p/kWh.

This and the data of Table 9.4 give confidence that the results obtained here are realistic,

and therefore that the models and assumptions employed are sound.

The system characteristics which give rise to this optimum case are explored in detail in

the following sections.
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9.1.3 Air Oxygen Enrichment (RFSG)
9.1.3.1 Air Supply to IC Engine

In the 111 cases calculated, there are 36 (12 for each dryer type) where noy is higher and
TPC lower for a system where oxygen-enriched air is supplied to the IC engine, as
compared to an otherwise identical system where ambient air is supplied. In only nine
cases however (three for each dryer type) is COE is lower for the enriched-air system, and

in each of these cases the superiority is marginal.

Further analysis of these cases reveals that in each instance moving from ambient to
enriched air supply to the engine has resulted in a change in the type of air oxygen
enrichment plant used from PSA to VSA (see Section 7.2.1), and it is this change which
has led to the superiority of the enriched-air system. For systems where no change occurs,

there is never a net benefit in terms of 7oy, TPC or COE in supplying enriched air to the IC

engine.

This results because when supplying oxygen-enriched air to the engine, the marginal
improvement in engine power output is always much less than the marginal increase in
electricity consumption of the oxygen enrichment unit. Also, the marginal increase in
lease cost of the oxygen enrichment unit far outweighs the marginal reduction in engine
annual cost of capital. By way of illustration, a 30 kW, improvement in engine output is
obtained from an increase in oxygen production of 6 tonnes per day, which requires 115
kW,.. The annual plant lease charge rises by £23,000 whereas the engine annual cost of
capital falls by just £3,000.

Supply of oxygen-enriched air to the engine for power-only systems is not therefore

justified, and is not considered further.
9.1.3.2 Air Supply to Gasifier

For all dryer types, the lowest COE and TPC and the highest 1oy are always obtained by

operating without air oxygen enrichment to the gasifier — i.e. by omitting an air oxygen
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enrichment plant altogether. Also, if an air oxygen enrichment plant is employed, then

increasing the air oxygen content to the gasifier always results in an increase in COE and
TPC and a decrease in 1oy (except for a small number of cases at large scales and high

oxygen concentrations which coincide with a change in air oxygen enrichment plant type).

Results are illustrated in Figures 9.2 (COE) and 9.3 (noy) for a system with a band dryer, a
moisture content to the dryer of 75% db, a biomass feed rate of 1.5 dt/h and an RFSG
capital cost factor of 1.0. The four curves in each chart correspond to different values of

biomass moisture content to the gasifier.
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Figure 9.2 Effect of air oxygen concentration on COE - power-only

If oxygen enrichment is introduced or increased, the electricity generated increases very
slightly due to a marginal improvement in the IC engine efficiency (gasifier cold gas
efficiency remains virtually unchanged - see Section 5.3.3.2), but the increase is far
outweighed by the increased electricity demand of the oxygen enrichment plant. Also as
enrichment level is increased, the higher product gas LHV leads to a small reduction in IC
engine derating (Section 6.2.4.1) and a corresponding small reduction in IC engine capital

cost; however, this is again far outweighed by the increase in the air oxygen enrichment

plant lease charge.
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It would therefore be recommended not to supply the RFSG with oxygen-enriched air.
However, it may be that the RFSG is unable to achieve satisfactory slagging conditions
without the use of oxygen enriched air — although this is beyond the scope of the present
model to determine (but see Section 5.3.3.1). If this is the case, then oxygen concentration

should be kept to the minimum necessary.

There would appear to be little prospect of any modification to these conclusions coming
from developments in air separation technology. It would take a 75% reduction in both
electricity consumption and lease cost for a system with air oxygen enrichment to deliver a

lower COE than an equivalent unenriched-air system

9.1.4 Gasifier Type

In all cases, systems with an RFSG have a higher 7oy than systems with a UGETC. In
cases with an RFSG operating without enriched air, the average difference is 2.3%. Where
the RFSG operates with air oxygen concentrations of 28% and 40%, the difference falls to
1.4% and 1.1% respectively. Figure 9.4 shows 7oy plotted against biomass moisture to the
gasifier for systems with a band dryer, a moisture content to the dryer of 75% db and a
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biomass feed rate of 1.5 dt/h. The four curves correspond to the RFSG with air oxygen
concentrations of 21%, 28% and 40%, and the UGETC.
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Figure 9.4 Effect of gasifier type on noy - power-only

The superiority of the RFSG-based systems is due to the higher cold gas efficiency of the
RFSG obtained through air pre-heating, and to a lesser extent to an improvement in engine

brake thermal efficiency obtained from the higher heating value product gas.

Figure 9.5 shows COE plotted against moisture content to the gasifier for systems with the
RFSG at various air oxygen concentrations and with the UGETC, for an RFSG capital cost
factor of 1.0. In each case, the system has a band dryer, a moisture content to the dryer of
75% db, a biomass feed rate of 1.5 dt/h and a biomass cost of £20/dt. Figure 9.6 shows the
same plot for an RFSG capital cost factor of 1.5.

In all cases, systems with an RFSG operating without oxygen-enriched air have a lower
COE (by an average of 0.8 p/kWh) than equivalent systems with a UGETC. However if
the RFSG must operate with an air oxygen concentration of 28%, COE is less for RFSG-
based systems than for UGETC-based systems at an RFSG capital cost factor of 1.0, but
greater at an RFSG capital cost factor of 1.5. At an RFSG air oxygen concentration of
40%, the COEs are similar at an RFSG capital cost factor of 1.0.
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In terms of electricity cost, the increase in electrical output of the RFSG-based system is
able to overcome the effect of the increased capital cost of the RFSG (even on a
pessimistic view), provided no air oxygen enrichment is not employed. If however oxygen

enrichment has to be employed to achieve slagging conditions, the situation in comparison



with UGETC-based systems is less clear-cut and will depend on the actual capital cost of
the RFSG and the level of enrichment used. It should be emphasised that the actual
equipment capital cost of the RFSG in relation to the UGETC (the factor F) is highly
uncertain, due to the novel nature of the RFSG design.

In most cases, RFSG-based systems have a lower TPC than equivalent UGETC-based
system for a RFSG capital cost factor of 1.0. On the other hand if the factor rises to 1.5,
TPC for the UGETC-based systems is usually the lower.

9.1.5 Dryer Type

In all cases, systems with the band dryer gives a COE and a TPC either equal to or lower
than the other two types, and a oy either equal to or higher than the other two types. The
band dryer is able to meet all specified dryer duties; that is to say there is always enough
heat available from the engine coolant water heater. The band dryer would always
therefore be recommended for power-only systems. The superiority of the band dryer

results from its lower electricity requirements, and its usually lower capital cost.

There is insufficient energy in the engine exhaust gases to meet the drying duty with a
rotary dryer without burner in just two of the cases calculated - namely where the incoming
biomass has a moisture content of 100% db and is to be dried to moisture content of 20%
db or less. The rotary dryer with burner could meet these drying duties with ease by
utilising a small part of the 15% of undersize biomass. For power-only cases, however,
these would be the only circumstances in which it would be employed in favour of the

system without an integral burner, because of its much higher capital cost.
9.1.6 Biomass Moisture Content
9.1.6.1 Moisture Content Before Drying

An increased moisture content to the dryer for the same post-dryer moisture content
requires a larger dryer, and hence a higher electrical power consumption. The system net
power output thus always falls. However, the LHV of the biomass falls by a larger amount

(for reasons given in Section 8.2.2), so that nor always rises with increased moisture to
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the dryer. This is shown in Figure 9.7 for an RFSG-based system with unenriched air and
a UGETC-based system. In each case the system has a band dryer delivering a final
moisture content of 10% at biomass feed rate of 1.5 dt/h.
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Figure 9.7 Effect of moisture content before drying on 7oy - power-only

COE and TPC always rise with increased moisture to the dryer, due to the increase in dryer
capital cost and the reduction in system net power output. Figure 9.8 shows COE for an
RFSG-based system with unenriched air and a UGETC-based system. The systems each
have a band dryer delivering a final moisture content of 10%, a biomass feed rate of 1.5
dt/h and a biomass cost of £20/dt.

9.1.6.2 Moisture Content After Drying

In all cases, drying to a final moisture of 10% db gives the highest oy and the lowest COE
and TPC, and any decrease in post-dryer moisture will always give an increased 7oy and
reduced COE and TPC. These effects are illustrated in Figures 9.4-9.6. A lower moisture
content to the gasifier increases the gasifier cold gas efficiency, and the improved LHV of
the product gas results in a higher engine brake thermal efficiency. These give rise to an
increase in net system power output which always outweighs the increase in dryer capital

cost and electrical power consumption resulting from the larger drying duty. Hence, if a
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Figure 9.8 Effect of moisture content before drying on COE - power-only

drying stage is present, it is always best to dry to the lowest practical moisture content
despite the increased dryer size. If the final moisture content is below the ambient air
equilibrium moisture content, typically 20% db (Appendix 1 Section A1.3.3), the dried
biomass should be stored for as short a time as possible before use to prevent significant

re-hydration.

This study only considers post-dryer moisture contents down to 10% db. The dryer size
and cost functions within the dryer models are based on data which only extend down to a
final moisture content of 17% db. The extrapolation to 10% db is considered reasonable
on the basis of other published work which shows reasonably linear behaviour for drying
rate down to this level [35,185]. Further economies might be gained by drying further;
however, the drying rate may start to decrease increasingly rapidly as these very low
moisture contents are approached and the bound moisture in the biomass is increasingly
depleted (Appendix 1 Section A1.3.1, [185]). This would imply a rapid increase in dryer
volume and cost. Furthermore, the rate of re-hydration during storage is a function of the

difference between actual and equilibrium moisture content, and so would initially be

greater.
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9.1.6.3 Omission of Drying Stage (UGETC)

It is never beneficial in terms of 7oy to omit the dryer altogether rather than dry to a
moisture content of 10% db or 20% db. The benefits from improved gasifier cold gas
efficiency far outweigh the small penalty in dryer electric power consumption. Total plant
cost expressed in absolute terms clearly falls if the dryer is omitted, although whether TPC
falls or rises depends on the fall in power output.

The situation regarding COE is more interesting. Figures 9.9 and 9.10 show COE as a
function of biomass moisture before drying for biomass feed rates of 0.5 dt/h and 1.0 dt/h
respectively, at a biomass cost of £20/dt for a system with a band dryer. Figures 9.11 and
9.12 show similar charts for a biomass cost of £50/dt. The three bars represent drying to
10% db moisture, drying to 20% db moisture, and omitting the dryer altogether.
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Figure 9.9 Effect of drying on COE for feed rate 0.5 dt/h, cost £20/dt - power-only

If drying to 10% db moisture content is a practical option in the circumstances, then it is
only advantageous in terms of COE to omit a drying stage altogether if the initial moisture
content is 50% db and the biomass feed rate 0.5 dt/h, with biomass cost at £50/dt or less. If
the characteristics of the biomass limit the minimum moisture content after drying to 20%

db, then the domain over which COE is lower if the drying stage is omitted widens
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somewhat. However, COE is never lowest without a drying stage at a biomass cost of

£80/dt, or at a biomass feed rate of 1.5 dt/h or more.
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Figure 9.10 Effect of drying on COE for feed rate 1.0 dt/h, cost £20/dt - power-only
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Figure 9.11 Effect of drying on COE for feed rate 0.5 dt/h, cost £50/dt - power-only
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Figure 9.12 Effect of drying on COE for feed rate 1.0 dt/h, cost £50/dt - power-only

In general terms, COE is lower if the drying stage is omitted at low pre-dryer moistures,
low biomass feed rates and low biomass costs. As pre-dryer moisture, biomass feed rate
and biomass cost increase however, the gain from omitting the dryer reduces and is soon
reversed. This is because at low pre-dryer moistures the deleterious effects on the
gasification process of omitting the dryer are least (Section 9.1.6.2), and at low biomass
feed rates and costs the dryer capital cost is proportionately more significant. In practice,
even if the COE without a dryer is slightly higher than with, a developer may still choose
to omit the dryer on the grounds of capital cost and plant simplicity.

9.1.7 Biomass Feed Rate (System Scale)

As biomass feed rate rises, noy always rises, and both COE and TPC always fall. The rate
of change is greatest at low feed rates. These effects are shown in Figures 9.13-9.15 for

nov, COE and TPC respectively.
In each case the system has a band dryer, biomass moisture contents to and from the dryer

of 75% db and 10% db respectively, and a biomass cost of £20/dt. The two curves are for
a system with an un-enriched air RFSG (capital cost factor 1.0) and with a UGETC.
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Figure 9.14 Effect of system scale on COE - power-only

The increase in efficiency with scale occurs because the IC engine brake thermal efficiency
increases with engine size. This is a broadly linear effect over the scale range of interest
here. The improved noy is partly responsible for the falls in COE and TPC, but there are
also capital cost economies of scale accruing for nearly all system modules. The COE

exponent is approximately -0.46.
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Figure 9.15 Effect of system scale on 7PC - power-only
Table 9.5 shows a breakdown of total plant cost in absolute terms for a system with a
UGETC and a band dryer with inlet and outlet biomass moisture contents of 75% db and

10% db respectively, for biomass feed rates of 1.0 and 2.0 dt/h.

Table 9.5 Total plant cost breakdown, UGETC-based system - power-only

Total Plant Cost, £000
System Module Biomass feed rate | Biomass feed rate
1.0 dt/h 2.0 dt/h

Reception, Storage, Screening 210 266

Dryer 201 288
Gasifier 1487 2412

Gas Quench and Waste Water Treatment 19 19

IC Engine 729 1164

Grid Connection 133 196
TOTAL 2779 4344
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The costs for the 2.0 dt/h case are in all cases less the twice those for the 1.0 dt/h case,
reflecting the economies of scale operating. These economies of scale are greatest in
modules such as the dryer and reception, storage and screening, although the final total is
dominated by two modules where the economies of scale are less dramatic, that is the

gasifier and the IC engine.

Given the constraints of any specific application (e.g. biomass availability), the benefits of

building a BGES for power-only operation at as large a scale as possible are clear.

9.1.8 Biomass Cost

Not surprisingly an increase in biomass cost produces an increase in COE. Figure 9.16
shows this for systems with an un-enriched air RFSG (capital cost factor 1.0) and with a
UGETC. In each case the system has a band dryer with biomass moisture contents to and

from the dryer of 75% db and 10% db respectively, and a biomass feed rate of 1.5 dt/h.
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Figure 9.16 Effect of biomass feed cost on COE - power-only
Over all cases with the unenriched air RFSG, COE rises at an average rate of about 0.8

p/kWh for every £10/dt rise in biomass cost. The equivalent figure for systems with the
UGETC is slightly higher at about 0.9 p/kWh.
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9.2 Combined Heat and Power

9.2.1 Optimum Design (Baseline Cases)

The set of baseline cases was defined in Section 8.5.1 as those having a biomass feed rate
of 1.5 dt/h, a biomass cost of £20/dt, a pre-dryer biomass moisture content of 75% db and
an RFSG capital cost factor (if applicable) of 1.0. For CHP systems this corresponds to

111 cases.

The optimum system design from this set (corresponding to that with the lowest cost of
electricity) comprises an RFSG operating without air oxygen enrichment, and a rotary
dryer with bumer drying the biomass to a final moisture content of 10% db. The main
overall performance and cost parameters for this case are given in Table 9.6 together with
the defining input data. A breakdown of total plant cost in absolute terms by system
module is given in Table 9.7, and of production cost by cost type in Table 9.8.

Table 9.6 Overall parameters for optimum design (baseline cases) - CHP

Gasifier type RFSG
Dryer type rotary with burner
Biomass feed rate 1.5dt/h
Biomass cost £20/dt
Air oxygen concentration 21% by vol.
Biomass moisture content (before drying) 75% db
Biomass moisture content (after drying) 10% db
RFSG capital cost factor 1.0
Power exported 2.29 MW,
Heat exported 3.91 MWy
Heat to power ratio 1.71
Electrical efficiency 28.5%
Overall efficiency 77.2%
Cost of electricity 6.5 p/kWh
Total plant cost £1743/kW,
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Table 9.7 Total plant cost for optimum design (baseline cases) - CHP

System Module Total Plant Cost
£000

Reception, Storage, Screening 196

Dryer 526

Gasifier 2391

Gas Quench and Waste Water Treatment 19

IC Engine 961

Heat Recovery System 161

Grid Connection 174

TOTAL 4429

Table 9.8 Production cost for optimixrn design (baseline cases) - CHP

Production Cost Type Proportion
Annual cost of capital 29.5%
Feedstock 18.3%
Utilities 3.3%
Labour 25.4%
Overheads 11.8%
Maintenance 11.8%

The optimum design COE of 6.5 p/kWh is significantly below the power-only value of 7.7
p/kWh, showing that CHP operation is economically beneficial for the operator even when
the price obtained for the heat is an undistorted market price.

From Table 9.7, where the dominance of the gasifier and IC engine in TPC is again clear.

The additional cost of heat recovery is relatively low, reflecting the well-established, low-
technology nature of such equipment, particularly in the context of a system containing

207



such items as an advanced biomass gasifier and a high-efficiency IC engine. This is an
important contributory factor to the improved COE for CHP systems as compared to
power-only systems referred to above. Table 9.8 shows a very similar pattern to that for

power only systems (Section 9.1.1, Table 9.3).

A Sankey diagram showing the path of energy through the system for the optimum design
is shown in Figure 9.17. As in Figure 9.1, the width of the arrows is proportional to the
energy flow, and the values given for energy flow are normalised to a system energy input
of 100 in the form of wet biomass. Again, energy flows are calculated on a higher heating
value basis, i.e. the energy content of water vapour includes the latent heat of evaporation

(see remarks in Section 9.1.1).
9.2.2 Validation

Only one study was found in the literature which looked at a BGES operating in CHP
mode, that of Solantausta and Huotari [67]. They obtained a COE in the range 4.9-6.1
p/kWh, rather lower than the optimum value from the present study. Very little data is
available in the report to analyse the reasons for this (the work concentrated on power only
systems); however, the system scale was rather larger at 5.0 MW,, and if the results
obtained in the present work were extrapolated accordingly the resulting COE would be
comparable (see Figure 9.33 later).

The system characteristics which give rise to this optimum case are explored in detail in

the following sections.

9.2.3 Air Oxygen Enrichment (RFSG)

9.2.3.1 Air Supply to IC Engine

The situation here is very similar to that for power-only systems. This time, there are only
12 cases in total where 7oy is higher and TPC lower for a system where oxygen-enriched
air is supplied to the IC engine, as compared to an otherwise identical system where
ambient air is supplied instead, and no cases at all where COE is lower. The reasons are

the same as given in Section 9.1.3.1 for power-only systems.
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Supply of oxygen-enriched air to the engine for CHP systems is not therefore justified, and
is not considered further.

9.2.3.2 Air Supply to Gasifier

As for power-only systems, the lowest COE and TPC and the highest noy are always
obtained by operating without air oxygen enrichment to the gasifier — i.e. by omitting an

air oxygen enrichment plant altogether.

- If an air oxygen enrichment plant is employed, then increasing the air oxygen content to

the gasifier always results in an increase in COE.

Results are illustrated in Figures 9.18 (COE) and 9.19 (noy) for a system with a band
dryer, a moisture content to the dryer of 75% db, a biomass feed rate of 1.5 dt/h and an
RFSG capital cost factor of 1.0. The four curves in each chart correspond to different

values of biomass moisture content to the gasifier.
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Figure 9.18 Effect of air oxygen concentration on COE - CHP
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Figure 9.19 Effect of air oxygen concentration on 7oy - CHP

Again, for a small number of cases at large scales and high oxygen concentrations which
coincide with a change in the air oxygen enrichment plant type, 7PC can fall and noy rise
with increasing air oxygen content. Also in going from 28% to 40% oxygen, although net
electrical output falls, noy rises slightly because a rise in product gas temperature from the
gasifier and in exhaust gas temperature from the IC engine allows more heat to be
recovered (Figure 9.19). Otherwise, a rise in air oxygen content results in a rise in 7PC

and a fall in noy,

The explanation for these characteristics is the same as that given for power-only systems
(Section 9.1.3.2), and the comments and conclusions presented there apply equally to CHP
systems; principally, it would be recommended to operate without air oxygen enrichment
to the gasifier, or alternatively at the minimum practical level if enrichment were necessary

for gasifier temperature management.
9.2.4 Gasifier Type

In all cases, systems with an RFSG have a lower 7oy than systems with a UGETC, by an

average margin of 1.6%. This is the reverse result to power-only systems, and arises from
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a larger recovery of heat in UGETC systems which outweighs the reduced net electrical
output reported and discussed in Section 9.1.4.

The increased heat recovery is mostly due to a higher product gas temperature in the case

of the UGETC. The RFSG aims by design to retain this energy within the gasifier.

Figure 9.20 shows 7oy plotted against biomass moisture to the gasifier for systems with a
rotary dryer with burner, a moisture content to the dryer of 75% db and a biomass feed rate
of 1.5 dt/h. The four curves correspond to the RFSG with air oxygen concentrations of

21%, 28% and 40%, and the UGETC.
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Figure 9.20 Effect of gasifier type on noy - CHP

Figure 9.21 shows COE plotted against moisture content to the gasifier for systems with
the RFSG at various air oxygen concentrations and with the UGETC, for an RFSG capital
cost factor of 1.0. In each case, the system has a rotary dryer with burner, a moisture
content to the dryer of 75% db, a biomass feed rate of 1.5 dt/h and a biomass cost of
£20/dt. Figure 9.22 shows the same plot for an RFSG capital cost factor of 1.5.
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Systems with an unenriched air RFSG have a lower COE than equivalent systems with a
UGETC for all cases except those with a biomass feed cost of £20/dt and an RFSG capital
cost factor of 1.5, where COE is similar for the two types at low biomass moisture contents

to the gasifier and lower for the UGETC systems at high biomass moisture contents to the




gasifier. The average difference in COE over all cases is 0.6 p/kWh in favour of the
RFSG.

If the RFSG must operate with air oxygen enrichment to achieve slagging conditions, the
position of UGETC systems improves. For an air oxygen concentration of 28%, COE for
RFSG systems is only lower if the RFSG capital cost factor is 1.0, and if the biomass cost
is £50/dt or £80/dt. In all other cases, UGETC systems are equal or superior. If the air
oxygen concentration rises to 40%, UGETC systems also become cheaper at an RFSG
capital cost factor of 1.0 and a biomass cost of £50/dt.

Essentially, as RFSG capital cost falls and biomass cost rises, COE from RFSG systems
improves relative to that from UGETC systems. If the RFSG can run without oxygen-
enriched air, then it will generally give a lower system COE than the UGETC. However if
capital cost is at the high end of expectation and biomass is relatively cheap, it is likely that
the UGETC will be the better option on economic grounds, particularly considering the
technical risk associated with the RFSG. If the RFSG has to operate with oxygen enriched
air however, it is only likely to give a lower system COE than the UGETC if the RFSG

capital cost is at the low end of expectation and biomass price is relatively high.

As for power-only operation, RFSG-based systems always have a lower TPC than
equivalent UGETC-based systems when the RFSG capital cost factor is set to 1.0, but if
the factor rises to 1.5, TPC for UGETC-based systems is nearly always the lower.

Figure 9.23 shows heat-to-power ratio (HPR) plotted against biomass moisture to the
gasifier for systems with a rotary dryer with burner, a moisture content to the dryer of 75%
db and a biomass feed rate of 1.5 dt/h. Again the four curves correspond to the RFSG with
air oxygen concentrations of 21%, 28% and 40%, and the UGETC.

HPR is always highest for systems with the UGETC because of its lower cold gas
efficiency, which results in lower net electrical output but higher heat availability.
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Figure 9.23 Effect of gasifier type on HPR - CHP

9.2.5 Dryer Type

The relative performance of the three dryer options is shown in Figures 9.24 and 9.25.
Biomass feed rate is found to be the principal determinant of dryer choice. Figure 9.24
shows average 7oy over all pre- and post- dryer moisture contents plotted against biomass
feed rate for each of the three dryer options. Figure 9.25 shows a similar plot for COE,
only here COE is expressed relative to the average for all dryers at that feed rate - this

helps to see relative performance.

Systems with the rotary dryer with burner give a much higher noy than either of the other

two systems in all cases (by about 11% on average), because of the utilisation of the

undersize biomass which results in additional heat export.

However the lowest COE at biomass feed rates up to about 1.2 dt/h comes from systems
with the band dryer. Systems incorporating the rotary dryer with burner only give the
lowest system COE at feed rates above this level. The rotary dryer without burner never
gives the lowest system COE. Furthermore, for both the band dryer and the rotary dryer
with burner there is sufficient heat available from the system to achieve all specified drying

duties, whereas for the rotary dryer without burner there is insufficient heat available
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where the initial moisture content is 100% db and the desired moisture content is 20% db

or less.
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In all cases, the rotary dryer with burner gives the highest system 7PC, followed by the
rotary dryer without burner, with the band dryer giving the lowest.

The band dryer has lower electrical power requirements and lower capital cost, and also

utilises lower-grade heat than the rotary dryers. However, the increased revenue from heat
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associated with the rotary dryer with burner becomes increasingly important as economies
of scale reduce the influence of capital cost. With the assumptions made for heat revenue,
it is likely that the added complexity and capital cost of the rotary dryer with burner would
result in the band dryer being selected up to at least 1.5 dt/h. However, the relative
economics of systems incorporating the rotary dryer with burner would improve if greater

revenue could be obtained for the heat, for example through public subsidy.
9.2.6 Biomass Moisture Content

9.2.6.1 Moisture Content Before Drying

An increased moisture to the dryer for the same final moisture content requires a larger
dryer, and hence a higher electrical power consumption, so that the system net power
output thus always falls. Furthermore the higher the moisture content before drying, the
greater the system heat required for the drying process and therefore the lesser the heat
exported. Unlike with power-only systems (Section 9.1.6.1) this fall in total energy output
always exceeds the fall in dry LHV of the biomass (Section 8.2.2); so that 5oy always falls
with increased moisture to the dryer. This is shown in Figure 9.26 for an RFSG-based
system with unenriched air and a UGETC-based system. In each case the system has a

rotary dryer with burner and a biomass feed rate of 1.5 dt/h.
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Figure 9.26 Effect of moisture content before drying on 7oy - CHP
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COE and TPC always rise with increased moisture to the dryer, due to the increase in dryer
capital cost and the reduction in system net energy output. Figure 9.27 shows COE for an
RFSG-based system with unenriched air and a UGETC-based system. The systems each
have a rotary dryer with burner, a biomass feed rate of 1.5 dt/h and a biomass cost of
£20/dt.
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Figure 9.27 Effect of moisture content before drying on COE - CHP

9.2.6.2 Moisture Content After Drying

Whereas for power-only systems (Section 9.1.6.2) drying to a final moisture of 10% db
gives the highest 79y, in the case of CHP systems drying to a final moisture of 10% db
gives the lowest 770y, and noy nearly always improves the higher the final moisture. This
is shown in Figure 9.20. As moisture to the gasifier increases, net electricity output falls
(Section 9.1.6.2), but this fall is outweighed by the gain in heat for export which results
from less heat being required for drying.

COE still nevertheless always rises with increasing final moisture, with a final moisture of

10% db giving the lowest COE (Figures 9.21, 9.22). As with power-only systems, a lower

moisture content to the gasifier increases the gasifier cold gas efficiency, and the improved
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LHV of the product gas results in a higher engine brake thermal efficiency. These give
rise to an increase in net system power output which always outweighs not only the
increase in dryer capital cost and electrical power consumption resulting from the larger
drying duty, but also now the reduced revenue from the sale of heat. This results because
of the much higher value of electricity compared to heat. Whereas over all cases COE
ranges from 5-25 p/kWh, the price paid for heat ranges from just 1.2-1.5 p/kWh.

TPC also always rises with increasing final moisture as the dryer cost reduces and the net

electrical output increases

As with power-only systems, therefore, it is always best to dry to the lowest practical
moisture content if a drying stage is present, although the comments made in Section
9.1.6.2 with regard to equilibrium moisture content and drying to ultra-low moisture
contents apply equally to CHP systems.

9.2.6.3 Omission of Drying Stage (UGETC)

If the dryer is omitted altogether, 7oy is always higher than if the biomass is dried to a
moisture content of 10% db or 20% db in either a band dryer or a rotary dryer without
burner, as the heat available for export rises by more than the net electricity output falls. If
the dryer is a rotary dryer with burner, however, the reverse is true as the extra heat
available from the integral burner is lost if the dryer is absent. (Note that the option to have
no dryer but a stand-alone biomass burner and associated feed preparation equipment has

not been considered here, but may be a viable configuration).

As with power-only systems (Section 9.1.6.3), total plant cost expressed in absolute terms
clearly falls if the dryer is omitted, although whether TPC falls or rises depends on the fall

in power output.

The situation regarding COE is similar to that for power-only systems (Section 9.1.6.3) and
the same general comments apply. In the case of CHP systems however the range of cases
sover which it is economically advantageous to omit the dryer is wider, as a result of the
added benefit of extra heat for export. Figures 9.28 and 9.29 show COE as a function of
biomass moisture before drying for biomass feed rates of 0.5 dt/h and 1.0 dt/h respectively,
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at a biomass cost of £20/dt for a system with a band dryer. Figures 9.30 and 9.31 show
similar charts for a biomass cost of £50/dt. As in Section 9.1.6.3, the three bars represent

drying to 10% db moisture, drying to 20% db moisture, and omitting the dryer altogether.
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Comparing Figures 9.28-9.31 with their power-only equivalents (Figures 9.9-9.12), it is
clear that the option to omit the dryer (white bars) is superior in many more cases.
Nevertheless, the general trends of dryer omission being economically more advantageous

at low pre-dryer moistures, low biomass feed rates and low biomass costs remains.
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9.2.7 Biomass Feed Rate (System Scale)

The effects of system scale are shown in Figures 9.32-9.35 for noy, COE, TPC and HPR
respectively. The system has a rotary dryer with burner, biomass moisture contents to and
from the dryer of 75% db and 10% db respectively, and a biomass cost of £20/dt.
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The two curves are for a system with an un-enriched air RFSG (capital cost factor 1.0) and

a system with a UGETC.
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In contrast to power-only systems (Section 9.1.7), noy is hardly affected by system scale,
incréasing only very slightly as scale increases. This is because although net electrical
output increases due to an increase in IC engine brake thermal efficiency, this energy is
taken from the sensible heat in the exhaust gases and cooling circuit which would

otherwise go to hot water production. HPR falls with increasing scale accordingly.

Both COE and TPC always fall as scale increases, with. the rate of change greatest at low
feed rates. This is due partly to improved ¢lectrical efficiency, and partly to capital cost
economies of scale accruing for nearly all system modules. The COE exponent is

approximately -0.63.
Table 9.9 shows a breakdown of total plant cost in absolute terms for a system with a

UGETC and a rotary dryer with burner for biomass feed rates of 1.0 and 2.0 dt/h. Dryer
inlet and outlet biomass moisture contents are 75% db and 10% db respectively.

Table 9.9 Total plant cost breakdown, UGETC-based system - CHP

Total Plant Cost, £000

System Module Biomass feed rate | Biomass feed rate
1.0 dt/h 2.0 dt/h

Reception, Storage, Screening 171 216
Dryer 493 557
Gasifier 1487 2412
Gas Quench and Waste Water Treatment 19 19
IC Engine ' 729 1164
Heat Recovery System 122 177
Grid Connection 132 195
TOTAL 3153 4739

As with power-only systems, the benefits of building a BGES for CHP at as large a scale

as possible within the constraints of the application are clear.
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9.2.8 Biomass Cost

Again not surprisingly, an increase in biomass cost produces an increase in COE. Figure
9.36 shows this for systems with an un-enriched air RFSG (capital cost factor 1.0) and with
a UGETC. In each case the system has a rotary dryer with burner, biomass moisture
contents to and from the dryer of 75% db and 10% db respectively, and a biomass feed rate

of 1.5 dt/h.
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Figure 9.36 Effect of biomass feed cost on COE - CHP
Over all cases with the unenriched air RFSG, COE rises at an average rate of about 0.8

p/kWh for every £10/dt rise in biomass cost, the same as for power-only systems. The
equivalent figure for systems with the UGETC is again the same as for power-only systems

at about 0.9 p/kWh.
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10 CONCLUSIONS
10.1 System Modelling Study - General (Chapter 9)

1. A spreadsheet-based model of a BGES has been successfully constructed and used to
evaluate the performance and economic characteristics of such a system, with
particular reference to the integration of heat and the need for biomass drying. No such

study has been previously reported in the literature.

2. The spreadsheet approach was vindicated in that over 15,000 cases were run in a
relatively short period of time, thus allowing a study of the full operational and design
envelope of the BGES. Only a small fraction of the number of cases would have been

possible in the time available with flow-sheeting software.

3. The model was validated by comparison to previous studies. The average value for
COE from the baseline set of cases (biomass feed rate 1.5 dt/h, biomass cost £20/dt and
pre-dryer biomass moisture content 75% db, RFSG capital cost factor 1.0 where
applicable) was within 10% of the average from the previous studies considered, and
discrepancies with specific previous studies could be explained by choice of boundary

conditions where these were published.

4. If a drying stage is included, then the lowest cost of electricity is always achieved by

drying to the lowest practical moisture content, despite the increased dryer size.

5. For systems with a biomass feed rate, cost and pre-dryer moisture at the lower end of
the range of study, cost of electricity can be lower if the drying stage is omitted
altogether. This would however only be a practical proposition with a UGETC. As
biomass feed rate, cost and pre-dryer moisture increase however, the gain from

omitting the dryer reduces and is soon reversed.
6. For systems with an RFSG, the lowest cost of electricity and the highest overall

efficiency is always obtained by operating without air oxygen enrichment to the

gasifier — i.e. by omitting an air oxygen enrichment plant altogether. If an air oxygen
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10.

enrichment plant must be employed, then increasing the air oxygen content to the

gasifier always results in an increase in cost of electricity.

On average, systems with an RFSG operating without oxygen-enriched air have a
lower cost of electricity (by about 0.7 p/kWh or around 10%) than equivalent systems
with a UGETC. However if the RFSG must operate with air oxygen enrichment, then
the cost of electricity from UGETC systems can often be lower, whether and by how

much depending on a number of parameters.

Cost of electricity always falls as biomass feed rate (system scale) increases, with
exponents of approximately -0.46 for power-only and -0.63 for CHP systems. The
rate of fall is greatest at low feed rates. Within the scale range studied here, a BGES
should always be built as large as possible within the constraints of feed supply, output

demand and finance.

For systems with an RFSG operating on un-enriched air, cost of electricity rises at an
average rate of about 0.8 p/kWh for every £10/dt rise in biomass cost. The equivalent
figure for systems with a UGETC is about 0.9 p/kWh.

For systems with an RFSG and an oxygen enrichment plant, supply of oxygen-
enriched air to the IC engine to boost output always causes a reduction in overall

efficiency and an increase in cost of electricity, and is not therefore justified.

10.2 System Modelling Study - Power-only Systems (Section 9.1)

;3

12

13

For the baseline cases, the lowest cost of electricity obtained is 7.7 p/kWh, for a
system with an RFSG and a band dryer. Overall efficiency is 28.8%.

Of the three dryer options, systems with the band dryer always give the lowest cost of

electricity - as a result of lower electrical consumption and capital cost.

In all cases, systems with an RFSG have a higher overall efficiency than equivalent
systems with a UGETC. In cases with an RFSG operating without enriched air, the

average difference is 2.3%.
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10.3 System Modelling Study - CHP Systems (Section 9.2)

14.

15,

16.

For the baseline cases, the lowest cost of electricity obtained is 6.5 p/kWh, for a
system with an RFSG and a rotary dryer with burner. Overall efficiency is 77.2%
(heat and power). In this study therefore, CHP operation gives a lower cost of
electricity than power-only operation.

Of the three dryer options, systems with a band dryer give the lowest cost of electricity
at feed rates below about 1.2 dt/h, and systems incorporating a rotary dryer with

bumer give the lowest cost of electricity at feed rates above this level.

In all cases, systems with a UGETC have a higher overall efficiency than equivalent
systems with an RFSG, by an average margin of 1.6%.

10.4 Model Evaluation of Gasifier Performance (Section 5.3)

17

18.

19.

20.

A gasifier model based on equilibrium chemistry has been validated against limited
data from a pilot-scale RFSG.

Even with air pre-heat and oxygen enrichment, temperatures over large parts of the
RFSG gasification reactor are likely to remain much too low for effective slagging
operation on most biomass feedstocks. The RFSG could operate in non-slagging
mode on biomass feedstocks with very high ash fusion temperatures, such as bark.
Much higher temperatures could be achieved using feedstocks with lower oxygen

content (and to a lesser extent hydrogen content), such as charcoal or shredded tyres.

The UGETC gives a cold gas efficiency of 77.6% and a product gas lower heating
value of 5.12 MJ/Nm® when fed with biomass with a moisture content of 17.6% db

(15% on a wet basis).

The cold gas efficiency of the RFSG is about 5% higher than that of the UGETC. This
is due entirely to air pre-heat (the UGETC cannot operate with air pre-heat without
risk of slagging).
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21,

22.

23,

The lower heating value of the product gas from the RFSG when operating with
unenriched air is about 1 MJ/Nm’® higher than that of the UGETC. With air oxygen
enrichment this differential increases to about 3 MJ/Nm’at 40% oxygen, and 5
MJ/Nm® at 100% oxygen.

For both gasifier types, cold gas efficiency and product gas heating value fall with
increasing biomass moisture content. For the RFSG, product gas heating value rises

with increasing air oxygen concentration, but cold gas efficiency is unchanged.

The benefits of air pre-heating in the RFSG, while significant for unenriched air, are
much diminished if oxygen enrichment is employed, as the flow rate and hence

thermal capacity of the air is reduced.

10.5 Effects of Gas Properties on Engine Performance (Section 6.2.4)

24.

25.

Operation on a typical biomass gasifier product gas with a lower heating value of 4.5
MJ/Nm?® dry basis gives rise to an engine power derating of about 23% from natural
gas operation. As heating value increases through reduction in nitrogen content,
derating falls. By a lower heating value of around 9.0 MJ/Nm’, the derating has fallen

to zero.

Product gas temperature at inlet should be minimised. Reducing gas inlet temperature
from 80°C to 40°C gives an increase in electrical output of about 0.7% and a reduction

in capital cost per kilowatt of about 4%.

10.6 Dryers for a Biomass Gasification System (Appendix 1)

26.

Dryer types suited to biomass gasification systems in general (not specifically BGESs)
are perforated floor bin, band conveyor, rotary louvre, rotary cascade, rotary steam
tube, atmospheric fluid bed, pressurised fluid bed and pressurised pneumatic

conveying.
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27.

28.

For biomass gasification systems (not specifically BGESs) below ~ 0.5 MWe the best
suited dryer type is either a batch perforated floor bin or a deep bed band conveyor,
both using heated air. For systems in the range 0.5-5.0 MWe the best suited type is
either a deep bed band conveyor using heated air, or a rotary cascade or thin bed band
conveyor using engine exhaust gas. For systems above 5.0 MWe the best suited type

is either a rotary cascade using engine exhaust gas, or a pressurised steam dryer.

Final choice of dryer will follow careful technical and economic evaluation of the
specific system under consideration. Key determinants in the choice of dryer are cost,
capacity range, available sources of heat, alternative uses of that heat, avoidance of
excessive material temperatures to prevent thermal degradation and emissions, and

avoidance of fire or explosion hazards.
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10.7 Further Work

The spreadsheet-based system modelling approach has proved successful in investigating
the characteristics of biomass gasifier engine systems. As indicated in Section 8.1
however, it was selected on the grounds that it offered certain advantages in the modelling
of relatively simple systems such as a BGES, but would be less well suited to larger more
complex systems where flow-sheeting packages would be more appropriate. It is not
therefore proposed that the model be extended in scope to encompass much larger systems,
particularly those incorporating steam power cycles or combined cycles. Nevertheless,
there are a number of areas where further work both in model development and application

is merited while retaining the focus on BGES modelling.

In Section 5.3.3.1 it was shown that the RFSG faces fundamental problems of a
thermodynamic nature in operating in its intended mode. This, combined with its relative
complexity, makes it unlikely that the design will proceed to commercialisation. Further
development of the model should therefore focus on the more conventional UGETC
design. Without the added complexity of the RFSG regenerator modelling, it would be
practical to integrate the equilibrium gasification reactor model into the system model
without greatly compromising model run time. This would offer the big advantage that
alternative feedstock compositions could be tested without the need to generate new

relationships for each type.

While not proposing to extend the model to much larger and more complex systems, the
BGES scale range of the model should nevertheless be increased to the equivalent of about
5 MW.,, a better upper limit for a BGES than the 2.5 MW, used in the study which derived
from the target range of the RFSG (Section 5.1.3) [5,11,12]. This would involve returning
to the dryer manufacturers used in the study to obtain cost data for a wider range of
models. All other cost data are applicable up to 5 MW, (excepting oxygen enrichment
equipment, but that would not be required for a UGETC).

The option should also be incorporated into the model at certain points to override

theoretical predictions of performance with empirical data or correlations if the user so

desires. This would allow for more accurate model calculations as experience with these
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systems increases, and would be of particular relevance to gasifier product gas composition

and energy pathways within the IC engine.

The application of the model should be extended to explore the influence of the size of the
rejected biomass fraction on the relative merits of the rotary dryer with burner in CHP
systems, as this is a key determinant in the superiority of this dryer at higher feed rates.
Also for CHP systems, the model could consider the influence of different heat pricing
scenarios on the choice of optimum configuration, and also the influence of different hot
water temperatures to the heat customer. It would be relatively simple to add the option
for generating low-pressure steam rather than hot water for those scenarios where the
customer specifically demands steam. A BGES is usually a poor choice for the supply of
steam because in most cases a large part of the available heat is from the engine cooling
system at temperatures of.100°C or less; however, some engine manufacturers offer
designs where the coolant outlet temperature has been deliberately increased (at the

expense of efficiency) to allow low-pressure steam generation [147].

The model could also be extended to look at the possibility of heat recovery from the moist
dryer exhaust for district heating schemes in cold climates. This option was rejected for
consideration in the present study because of the assumption of temperate ambient
conditions typical of Western Europe, in which district heating return temperatures are no
lower than 50°C (Section 2.4). However, in much colder environments such as northern
Sweden or Finland, return temperatures may be much lower. Furthermore, when ambient
air is at temperatures of 0°C or less, it may be economically viable to use the recovered
heat to warm ambient air for use in a band dryer, thus releasing some of the energy from
the engine coolant circuits which would otherwise be utilised for the purpose but which

could instead contribute to the district heating load.
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APPENDIX 1 DRYING IN BIOMASS GASIFICATION SYSTEMS

Al.1 Introduction

This appendix constitutes a review of dryer technologies for biomass gasification systems.
It has been conceived as a stand-alone document for general reference, and has been
published in slightly modified form in a scientific journal [79]. It does not focus
specifically on selection of drying technologies for a BGES, but contains the information

necessary for such a selection to be made (see Section 4.2).

Considering that the dryer can represent the highest capital cost item in the pre-treatment
section of biomass gasification system [40], there has been relatively little attention paid in
the literature to the selection and performance of the drying process. Reviews that are to
be found in the literature are either in the form of relatively limited summaries forming

part of a wider review of biomass technologies, or instead are focused on specific large-

scale applications.

An example of the former type is a review of pre-treatment of biomass feedstocks for
gasification and combustion carried by the Netherlands Energy Research Foundation
(ECN) as part of the European Commission JOULE programme [186]. Drying is one of
five pre-treatment steps considered, in a 12-page section. In such a short review, detail is
inevitably limited. After a very.short discussion of theoretical aspects and classification,
four types of dryer are described. Rotary cascade and fluid bed dryers are described in
general terms with some indicative performance figures. Then two specific steam dryers
are described; the Stork “Exergy” dryer and the Niro dryer, again with some indicative
performance figures. A section is included on vapour recompression techniques in steam
-drying. The review focuses on large-scale applications, with no consideration of the
particular requirements of small scale systems. There are a number of other similar

examples [e.g. 162,187].

An example of the latter type is a review of wood fuel dryers for application in the
Canadian pulp and paper industry was carried out some ten years ago for the Canadian
government [188]. The review (26 pages plus appendices) evaluates operational

experience at five installations, each incorporating a direct-contact flue gas dryer upstream
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of a large steam-raising boiler. Three of the installations had rotary cascade dryers, each
from different manufacturers; one had a “cascade” dryer (effectively a fluid bed design);
and one had a flash (pneumatic) dryer. All were installed in the early 1980s, and
throughputs of the individual units ranged from 9-26 t/h. The review devotes most
attention to operational and maintenance problems experienced at each of the installations,

and how these were overcome. Some performance figures are given. There is no real

attempt to compare the dryer types or make recommendations.

In addition to being limited in detail or focused on specific industries, the reviews that have
been published tend to consider only those drying technologies which have an established
operational history in bio-energy systems, and this is bound to be a restrictive criterion
given the early stage of development of the industry. There have been no comprehensive
reviews covering the selection of drying technologies for bio-energy systems which

consider all available technologies at all scales, or which focus on biomass gasification

systems in particular. These are the objectives here.

The review gives a overview of drying theory and evaporative dryer technologies, and then
describes and evaluates in detail the technologies available for drying of biomass

gasification system feedstocks.

After a consideration of the requirement for drying in a biomass gasification system
(Section Al1.2), the review goes on to a general consideration of the evaporative drying
process (Section A1.3) and dryer classification (Section A1.4) before focusing specifically
on the drying of biomass gasification system feedstocks. Section Al.5 considers relevant
biomass properties, and Section A1.6 considers relevant system characteristics. Section
AL.7 then identifies the dryer technologies suited to a biomass gasification system, and

goes on to describe each in detail.
Al.2 The Requirement for Drying

Biomass feedstocks for the types of gasifier under consideration here must be in the form
of loose particulate solids, including wood chips from forestry residues or short rotation
coppice (SRC) poplar or willow, or herbaceous energy crops such as miscanthus or reed

canary grass in the form of chopped stalks. Such material can have moisture contents
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ranging from 20% db to 150% db at the point of harvest, depending on the material type,
the growing location and the time of year. A value of 100% db is often quoted as typical
for woody material at harvest under European or North American conditions [35,50],
whereas an herbaceous crop such as miscanthus, which is harvested at the end of the

winter, can have a content of 40% db or less under similar conditions [188].

Natural drying of biomass feedstocks can occur during storage, the degree again depending
on the material type and location, the form the material is stored in, the initial moisture
content and whether the store is in the open or enclosed. In the present case where crops
would be harvested annually in the winter but would be required on a continuous basis at
the conversion plant, up to a full year’s storage may be necessary. At the end of the
summer, a woody crop might have dried naturally from ::.1 moisture content of up to 120%
db down to as low as 40% db [190]. However, during operation in the spring, the storage
period will have been far shorter and the moisture content correspondingly higher. The
conversion plant might therefore expect to receive feedstock with moisture content in the

range 40% db to 120% db in the case of woody material, and 20% db to 70% db in the case

of herbaceous material.

Biomass gasification processes require the moisture content of the feed to be in a certain
range, depending on the technology (see Section S.l.i), although sizeable variations in
moisture content from particle to particle are not likely to be a problem provided the feed is
well mixed. Conventional down-draft gasifiers are limited to moisture contents of 25% db
or less, while updraft and fluidised bed gasifiers can tolerate higher levels of moisture [88].
In all gasifier types, however, an increase in the average moisture content of the feed
results in a greater energy requirement for evaporation ﬁnd a correspondingly lower
reaction temperature, which in turn results in a poorer quality product gas with increased
levels of tar and a lower overall conversion efficiency. This is illustrated in Figure Al.1,
from model calculations by the author of an idealised gasifier operating under equilibrium
conditions. The moisture content of the product gas will also be greater, presenting an

increased waste water treatment burden if this water has to be removed prior to use of the

gas in an engine or turbine.

In slagging gasification, the need to maintain the required temperature levels provides

further incentive to reduce feed moisture content.
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Figure Al.1 Effect of feed moisture content on an idealised gasifier

In a biomass gasification system then, it is usually necessary to dry the feed to some extent

at some point between reception and delivery to the gasifier.

Forced or assisted drying often requires a large supply of heat energy, and the provision of
suitable equipment which can be expensive. It is therefore in the interests of the system
designer to attempt to maximise the efficiency of the drying process (Section A1.3.5) while
at the same time minimising the capital outlay, so as to ‘minimise the final cost of
electricity. Unfortunately greater efficiency is often associated with greater capital cost.
The impact of the drying operation on overall system efficiency can however be reduced
by integration, making use of surplus energy streams within the process. If there are
competing uses for those energy streams, as is the case in CHP schemes, then a further
dimension is added to the task of specifying the extent of drying required and the means to

achieve it.

There are many methods of drying available, reflecting the wide range of drying tasks
encountered in industry. Often, a number of different technologies would be suited to the
drying of a particular material, and the final choice is made after careful consideration of
operational and economic facfors specific to the application. This is certainly true of

biomass gasification system feedstocks.
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Here the interest is in drying technologies where water is removed by evaporation, making
use as far as possible of available energy sources within the biomass gasification system.
Mechanical de-watering techniques (e.g. rams, centrifuges) are available, but are designed
for very wet materials such as slurries and pastes which are easily compacted or deformed,
and they cannot generally achieve moisture contents below about 120% db [191,192].
Even considering evaporative techniques alone, however, the range of options is vast, and

the classification of evaporative dryers (Section Al.4) is a substantial task in itself.

Al.3 The Evaporative Drying Process

This section aims to give an overview of evaporative drying theory pertaining to the drying
of any loose particulate solids. Emphasis has been given to aspects which are of relevance
in the understanding of why dryers are designed in the way they are, and on what basis
they should be selected. For greater detail the reader is referred to the many texts in the
literature dealing with the theory of drying [157,193,194,195,196], probably the most
relevant of which is that of Keey [196] which deals exclusively with drying of particulate
solids, and from which much of the theory presented here is taken.

The evaporative drying process for solids can be thought of as two simultaneous processes,
one a heat transfer process in which heat is transferred to the wet solid in order to
evaporate the liquid, and the other a mass transfer process in which liquid or vapour moves

within the solid and vapour leaves the solid surface (Figure A1.2).

HEAT TRANSFER MASS TRANSFER
CONVECTION FODHGFORT
OR el
CONDUCTION
\ e / SURFACE

EVAPORATION

Figure A1.2 Processes involved in evaporative drying
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In the technologies considered here, heat transfer occurs predominantly by convection or
conduction or a combination of the two, with radiation playing a negligible part. Dryer
types can be distinguished according to which of these is the principal mechanism of heat
transfer, as will be discussed in Section Al.4. It is clearly important to maximise contact
between the drying medium (the gaseous medium surrounding the drying solid as it dries)
and the material being dried, and a great deal of attention has been paid to this aspect in the

evolution of the wide range of dryer types in existence.

Mass transfer takes place by two general mechanisms; internal movement of liquid or
vapour through the wet solid by processes such as capillary flow and diffusion, and
external movement of vapour away from the material surface. The former depends on
material structure and properties, as well as moisture content; the latter on external
temperature and pressure, material surface area, Reynolds Number, and humidity if air or

some other inert gas is being used as the transport medium. Both mechanisms can limit the

overall drying rate, depending on the stage of the drying process.

AL3.1. Periods of Drying

If a sample of the material to be dried is exposed to the drying medium at controlled
constant conditions, and the rate of moisture loss from the sample is plotted against time,

the resultant curve takes the general form shown in Figure A1.3 [197].

There is an initial period A-B during which the material heats up and the drying rate
increases. This is followed by a period of constant drying rate B-C, the constant rate
period, during which movement of water through the solid is sufficiently rapid to maintain
saturated conditions at the surface, and evaporation is equivalent to that from a body of
water. Finally, internal movement of water can no longer maintain saturated conditions at

the surface and a period of falling drying rate C-D is entered, the falling rate period.

The falling rate period is often divided into two, a period where the material surface is
partially wet and neither mechanism dominates fully, followed by a period where the
material surface is completely dry and movement of water through the solid is fully rate
limiting. Clearly, drying to low moisture levels implies progressively longer drying time
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(and therefore greater dryer capital cost) the lower the final moisture level, and it is most
important in these situations to avoid drying beyond the requirements of the subsequent

process or use.

Drying Material
Rate Temperature
ON/St T

Time, ¢ ’

Figure A1.3 The periods of drying

Drying rates are very difficult to predict for a given material, particularly for the falling
rate period, and experimental methods under controlled conditions are usually required to
determine them. One of the key variables to be determined is the moisture content at
which constant rate drying finishes and falling rate drying begins - the so-called critical

moisture content. This is a function of many variables, including material structure,

material thickness and initial moisture content.

In some materials a constant rate period may not be observed at all except for very high

initial moisture contents; in others constant rate drying continues to very low values of

moisture content.
AL3.2 The Drying Medium
The drying medium refers to the gaseous medium surrounding the drying solid as it dries,

and can either be a mixture of vapour and a non-condensable gas such as air or combustion

products, or pure vapour (in this case steam). In convective systems, the drying medium is
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also the source of heat; in conductive systems it represents only the evolved moisture, in

some cases combined with a transport gas.

For mixtures of gas and vapour, the principles of psychrometry apply. Properties of air-
water mixtures are readily obtained from tabulations, or from a psychrometric chart (an
example of which is shown in Figure A1.4). The mixture must be below the saturation
point for further evaporation to take place, so the saturation point represents an ultimate
limit for a given drying situation if the dry bulb temperature is below the liquid boiling
point. If the dry bulb temperature remains above the liquid boiling point, the moisture
carrying capacity is infinite. Where the gas is combustion products rather than air, small
corrections to the results obtained for air-water mixtures from tables and charts may be

necessary to compensate for differences in specific heat capacity.
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Figure Al.4 Psychrometric chart, medium temperatures

In the case of a pure vapour medium, the medium must be superheated for further drying to
take place - otherwise the evaporated moisture would simply re-condense. That is to say,
the medium must be at a temperature greater than the boiling point of the moisture at the
pressure of the system (see Section A1.3.4). Provided this condition is met, there is no
limit to the carrying capacity of the medium. In the case of steam, properties are readily
obtained from standard tabulations.
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Pure steam drying media are infrequently used compared with gas-steam mixtures.
However, an advantage of a pure steam drying medium [198,199] is that the steam product
may be utilised, either externally by operating the drying process at elevated pressure and
exporting the steam product to the external point of use, or internally by using mechanical
vapour recompression (MVR) to return some of the steam enthalpy to the drying process.
MVR drying is illustrated in Figure 5, with indicative process conditions [200].

Aston University
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Figure A1.5 Mechanical vapour recompression drying [200]

The process involves compressing the extracted vapour in an electrically-driven
compressor, and then effecting heat transfer with the drying steam via a condensing heat
exchanger so that the latent heat is returned to the process [200,201,202,203]. The process
has however to be suitably configured for this to be possible.

MVR is impractical for mixtures of vapour and air or other gases due to excessive
compressor costs, and is also highly susceptible to particulate contamination of the vapour
which can cause compressor damage. Indeed the viability of MVR for drying has been
constrained in the past by the availability of suitable compressor technology [204],
although this is improving. Also, recovery of heat from mixtures of vapour and air by
condensation would require large and expensive heat exchangers, and can only take place
at the dew point temperature of the mixture which would not exceed about 60°C, so that
water could only practically be heated to about 50°C at most. Finally, the steam

condensate may require costly water treatment prior to disposal.
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Al.3.3 Moisture Equilibrium

In an evaporative drying operation, in order to leave the solid the liquid must be heated
either to a temperature exceeding the saturation temperature of the liquid at the system
pressure (in the case of a pure vapour atmosphere) or to a temperature at which its exerted
vapour pressure exceeds the partial pressure of the vapour in the surrounding medium (in

the case of gas-vapour mixtures).

Moisture associated with a solid may be freely attached, or bound so that it does not exert
its full vapour pressure. Materials whose structure retains bound moisture are known as

hygroscopic materials, and biomass materials are generally of this type.

For non-hygroscopic materials, drying will proceed provided the conditions referred to
above are met - in other words that the pure vapour medium remains superheated, or that
the gas-vapour mixture remains unsaturated (relative humidity < 100%). Under these

circumstances such materials could be completely dried.

In the case of hygroscopic materials, however, as the moisture content falls the exerted
vapour pressure falls, and an equilibrium moisture content is eventually reached for a given
set of drying conditions at which the ratio of the actual to full vapour pressure exerted by
the liquid (the activity) equals either the ratio of actual to saturation pressure (for pure

vapour) or the relative humidity of the drying medium (for gas-vapour mixtures).

Importantly, the equilibrium moisture content increases significantly as relative humidity
increases (or degree of superheat falls), and if low final moistures are to be achieved then
the transport medium must leave the drying chamber at well below 100% relative humidity

(or with substantial superheat).

For hygroscopic materials, the equilibrium moisture content at ambient air conditions will
represent the minimum moisture content the material can attain if being dried with ambient
" air. An important consequence of this is that if material dried to below its ambient air
equilibrium moisture content is then stored for a significant period in ambient air, its

moisture content will rise to the equilibrium value. In the case of woody biomass in a
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European country this might vary between 15% db and 35% db depending on season and
location [205].

Al.3.4 Material Temperature

The temperature attained by the material during drying can have important consequences

for material degradation and dryer emissions (see Section A1.5.3).

The temperature history of the material as it undergoes drying also shows characteristic
stages corresponding to the three drying periods defined in Section A1.3.1 (Figure Al.5).
Actual temperatures depend also on the type of drying medium and the heat transfer

processes involved.

For gas-vapour mixtures during the constant rate period, the evaporating surface of the
material will be at the wet bulb temperature of the drying medium for purely convective
processes (approximately equal to the adiabatic saturation temperature for air/water
mixtures), and provided no heat is lost this temperature will remain constant throughout the
period. Where heat transfer is purely by conduction, the material surface temperature will
remain at the liquid boiling point. Most real conductive process are at least partially
convective, and here the surface will lie between the wet bulb and boiling point
temperatures. For pure vapour drying media during the constant rate period, the material

surface temperature will remain at the liquid boiling point for both convective and

conductive processes.

During the falling rate period, material surface temperature will be somewhere between the
constant rate temperature and the actual or dry-bulb temperature of the drying medium.
The temperature will rise as drying progresses. '

AL3.5 Thermal Efficiency of Dryers
The thermal efficiency of a dryer is generally taken to be the ratio of the theoretical heat

required to evaporate the moisture during drying (i.e. raise its temperature to the
evaporation temperature and supply the latent heat of evaporation) divided by the net heat
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supplied to the dryer (i.e. the total heat supplied to the dryer from external sources less any

heat recovered from the process for external use) [197].

Besides the heat required to evaporate the moisture, the total heat consumption of the dryer
will include the heat necessary to raise the temperature of the solids and retained moisture,
the heat in the humid exhaust leaving the dryer, and the heat losses from the dryer structure
to the surrounding air. The first of these is unavoidable; the second and third can be
influenced by dryer design and operation. The theoretical energy consumption for
evaporation, assuming an ambient temperature of 15°C, lies in the range 2.48-2.57 GJ/t of

water evaporated, depending on the wet bulb temperature [40].

Dryer thermal efficiency can be a misleading parameter in convective dryers, as it is
strongly dependent on the initial temperature of the drying medium. For a given dryer, the
thermal efficiency will increase with increasing initial temperature. However, in an
integrated system the cost in energy terms of providing the higher-temperature drying
medium may result in a net loss in overall system efficiency. Convective dryer thermal

efficiencies should only be compared at the same drying medium temperature.

Al.4 Dryer Classification

Many different classifications of dryers have been developed in attempts to rationalise

what is a complex diversity of technologies, and simplify the process of dryer selection.

Most classifications begin with majbr criteria which are usually either aspects of the drying
process, usually mode of operation (batch or continuous) and mode of feed heating
(conductive, convective or other), or the form of the feed (e.g. particle, sheet, block, paste
etc.), or both. There may then be further minor criteria such as gas flow pattern, solids
transport method or type of drying medium employed before actual dryer types are given.

Terminology can often be confusing - for example, conductive and convective dryers are

also known as indirect and direct dryers respectively.

Kemp and Bahu [206] have developed a helpful and relatively simple classification system

based on three major and five minor criteria:
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1. Mode of operation
- Batch (including semi-batch operation of “continuous™ dryers)

- Continuous (including semi-continuous operation)

2. Form of feed and product
- Particles (including granules, agglomerates, pellets)
- Film or sheet ‘
- Block, slab or artefact

- Paste, slurry or solution
3. Mode of heating

- Conduction or contact drying
- Cross-circulated, through-circulated or dispersion convective drying

- Radiation; infra-red, solar or flame radiation
- Dielectric; radio-frequency or microwave radiation

- Combinations; e.g. conductive/convective, radio-frequency enhancement
4. Operating pressure - vacuum or atmospheric
5. Gas flow pattern - none, cross-flow, co-current, countcr—cﬁrrent, complex
6. Solids flow pattern - stationary, well mixed, plug ﬂo;w, complex
7. Solids transport method - stationary, mechanical, airborne, combined
8. Solids mixing - undisturbed layer, rnecha_nical agitation, rotary, airborne.

The authors give classifications of the principal types of batch and continuous dryers using
mode of heating as the primary criterion: these are reproduced as Figures A1.6 and A1.7.

It is not the purpose here to give detailed descriptions of each of the multiplicity of dryer

types contained in these classifications; the reader is referred instead to the extensive

literature on the subject [157,195,197]. It should be understood, however, that the
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categories of Figures Al.6 and Al.7 are by no means all-encompassing and there are

numerous hybrid or intermediate types, as well as sub-types within categories.

Aston University
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Figure A1.6 Classification of batch dryers by heat transfer mode [206]

Aston University
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Figure A1.7 Classification of continuous dryers by heat transfer mode [206]

Perry [157] gives a more comprehensive and for present purposes more useful
classification based on material to be dried, and this is reproduced with a few
modifications as Table Al.l. As the table clearly shows, many dryer types are highly
specialised towards the type of material being dried. When materials as different as milk
and lumber require drying, this is not surprising.
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Biomass gasification system feedstocks are in the form of loose particulate solids which, in
the context of Table Al.l, are covered by the material type “Granular, crystalline or
fibrous solids™ (highlighted with a grey background). This sub-section has been taken as
the starting point for the more focused selection and description of dryer types suitable for

a biomass gasification system (Section A1.7).

Al.5 Biomass Properties Relevant to Drying

Biomass as a feedstock for a biomass gasification system has a number of characteristics
which place constraints on the selection of drying technology. These include physical
characteristics (size, density and friability), moisture properties, the effects of temperature

with regard to emissions and fire risk, and tolerance to different gaseous environments.

Al.5.1 Physical Characteristics

Biomass as a feedstock for a biomass gasification system will be in the form of loose
particulate solids of a fibrous nature. The biomass could either be in whole form in the
case of, for example, olive pits or almond shells, or in comminuted form (chipped or

chopped) as in the case of woody or herbaceous crops (Figure A1.8).

WOOD CHIPS FOREST RESIDUE PINE BARK

Figure A1.8 Various biomass gasifier feedstocks
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Size requirements are dictated largely by the gasification process, with each specific
gasifier design having its own particle size range requirement (see Section 5.1.1). A
throated downdraft gasifier will require particles of 20-80 mm (longest dimension),
whereas an updraft gasifier can accept 10-200 mm and a fluid bed design generally
requires particles of <15 mm for fast/circulating types and <50mm for bubbling types [88].

Fluid bed gasifiers are able to accept very small particles; however pre-treatment costs can
escalate rapidly if the biomass has to be comminuted and mean particle sizes below those

attainable from chippers and choppers are required (~5mm [190]).

Example size distributions from a wood chipper are shown in Figure A1.9. The size range
can usually be controlled within certain limits at the comminution stage without greatly
affecting costs, in order to meet specific gasifier, dryer or handling requirements. It is
assumed here that fines will normally be screened out prior to the drying process (see
Section 7.1).

Aston University
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Figure A1.9 Wood chip size distributions [35]

In most cases, the material will have a bulk density in the range 50-300 kgm™, depending
on type and moisture content. Usually the bulk material will have only moderate flow
properties, but will readily permit through-circulation of the drying medium. The biomass
particles are generally not friable under all but the most strongly agitated of processes, and
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physical damage or generation of significant amounts of additional dust within the drying

process is therefore not normally a problem.
ALS5.2 Moisture Properties

The typical moisture content of biomass feedstocks as received at a biomass gasification
plant and as required by the gasification process has been discussed in Section A1.2. The
biomass material will be hygroscopic (see Section Al.3.3), with equilibrium moisture
content varying from 35% db or more if the drying medium is close to saturation, down to
below 1% db where the medium is exceptionally dry [205]. As indicated in Section
Al1.3.3, under ambient air conditions typical of European locations the equilibrium
moisture content of woody biomass will range approximately from 15% db to 35% db. If
. very low moisture contents are required, then not only will a large supply of energy be
required, but careful measures must be taken to prevent re-hydration during post-dryer
handling. It has been suggested that drying in a biomass gasification system to below 10%
db moisture is impractical [50].

For most agricultural materials the constant rate period during drying is either very short or
non-existent [207] (see Section Al.3.1). Falling rate drying commences immediately after
_ the short heating period, which is often ignored in analysis or modelling. In tests on
various different types of wood chip carried out by Nellist [35], no constant rate was

~ observed when drying from up to 150% db.

Al1.5.3 Emissions

The subject of emissions from the drying of biomass materials has received some attention
recently [208,209,210]. Feedstocks for a biomass gasification system have a very high
volatile content. Emissions arise either from vaporisation of volatile components in the
biomass, or from thermal degradation of the biomass. Vaporised components can be
further subdivided into those that remain volatile at ambient conditions, and those that
condense. The most volatile vaporised components consist of monoterpenes, which are
emitted naturally at ambient temperatures but whose emission rate increases with

temperature, particularly above 100°C. They are strong-smelling irritants whose presence
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becomes annoying in the long run. The haze visible above a forest on a warm day is due to

photochemical reactions involving these species.

Condensable components create more of a problem, being principally responsible for so-
called “blue haze”, a more localised discoloration of the exhaust plume. The release of the
condensable components causing blue haze occurs at material temperatures above about
100°C. The visual nuisance caused by blue haze has to date been the source of greatest
concern regarding emissions from dryers, although the phenomenon can also cause odour
problems. Legislative limits regarding the production of blue haze are in force in some

countries, and are likely to become tighter and more widespread with time.

Thermal degradation products are released at higher wood temperatures still (>200°C for
short drying times, rather less for longer drying times), and the rate of loss accelerates

rapidly as temperature is increased further.

The release of all these components would ideally occur in the gasifier, and any premature
release represents a loss of potentially gasifiable material and is therefore to be minimised.
It may also require the provision of clean-up equipment for exhaust gas or condensate

streams, as may the excessive release of solid particulate material into the atmosphere.

Solid particulates may usually be dealt with satisfactorily with cyclones or bag filters.
Blue haze however is composed largely of sub-micron aerosols, and these are notoriously
difficult to remove with conventional gas cleaning techniques such as wet scrubbers,
requiring instead more exotic and expensive methods such as wet electrostatic precipitation
or electro-filter beds [208). As a general rule, therefore, material temperatures should be
kept below 100°C for all processes [208]. The ability of biomass materials to tolerate
temperatures up to these limits with no serious consequences means that drying options

specifically designed for heat-sensitive materials, such as vacuum methods, are

unnecessary.

The actual emissions (gaseous and particulate) to be expected from a given biomass drying
installation depend on a range of factors, and cannot be easily predicted. Many of the

factors are in the control of the process designer or operator. Factors may be grouped into



three categories: those related to dryer type; those related to drying medium characteristics;

and those related to feedstock characteristics.

Dryer type

Different dryers have widely differing characteristics regarding emissions. However, the

key design features of relevance are:

e whether the system is closed or open - i.e. whether the drying medium is reused, or
whether it is exhausted to atmosphere

e the degree to which material is agitated and broken up in the drying process

e theresidence time of material in the dryer

e whether any emissions abatement equipment is supplied with the dryer.

Drying medium characteristics

Important factors are the temperature of the dryfng medium, and the velocity of the
medium through the dryer. As indicated above, a drying medium inlet temperature
sufficiently low to keep the material temperature below 100°C will not cause pre-pyrolysis
and thus will avoid blue haze problems. The actual drying medium temperature will
depend strongly on feedstock and drying medium mass flow rates, feedstock initial
moisture content and dryer design.
(

High gas velocities will tend to entrain fine particles and some entrainment will always
occur. These emissions are however relatively easy to control with physical filtration
equipment. Fixed bed dryers (Section A1.7.1, A1.7.2.1) will minimise this problem from
the very low superficial gas velocity.

Steam dryers (see Sections A1.7.5.1 and A1.7.6.1), although having no gaseous emissions,

pose a special problem of producing a contaminated waste water which requires
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conventional water treatment as the chemical oxygen demand will tend to be high. There

is so little data or experience with such systems that estimation of cost or performance is

not possible.

Feedstock characteristics

Emissions vary very much according to the type of biomass being dried. Even different
types of wood can exhibit very different emissions characteristics, including the species
evolved and the temperature at which they evolve. Also, feedstock size range is very
important. A wide size range may result in the smaller particles being over-dried, causing

their temperature to rise excessively with resultant thermal degradation.

The requirement to implement emissions reduction measures at a particular drying
installation will depend also on the immediate location of the installation (i.e. is it close to
a residential area), and on the local legislative limits applying. These cannot be
generalised as they will vary from country to country and sometimes from region to region.
Furthermore regulations governing certain emissions of more recent concern, such as
volatile organic compounds (VOCs), are still evolving, and requirements governing

compliance change regularly.
Al1.5.4 Fire or Explosion Risk

A dryer fire or explosion can arise from two causes - ignition of a dust cloud brought about
by the presence of a large proportion of fines in the material, and ignition of the
combustible gaseous emissions from the drying material. Fines can be screened out prior
to the dryer, although this represents an additional cost, is not necessarily 100% efficient,
and in certain special cases may be undesirable (see Section Al1.7.3, for example). If
significant quantities of fines are present, not only is there a risk of dust ignition, but the
release of the combustible products of thermal degradation may increase to dangerous

levels.

Both types of ignition referred to above require the presence of sufficient oxygen and a
sufficiently high temperature. Under conditions found in most dryers, the risk of fire or

explosion from flammable vapours becomes significant if O, concentration in the drying
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medium exceeds a certain level. This level has been given values of 8% [50] and 10%
[211] by volume in different studies; the lower will be assumed in the present study.

Actual ignition temperature is a function of local gaseous composition and is difficult to
predict in such a heterogeneous environment. Problems have been encountered at inlet
temperatures as low as 200°C with wood chips in rotary dryers using combustion products
[187], where a temporarily high oxygen concentration has occurred as a result of an air in-
leakage. A general upper working limit in the range 250-300°C has been suggested [188].
In those cases where combustion products with an oxygen content below 8% are used as
the drying medium, much higher inlet temperatures may be used; one rotary dryer
manufacturer quotes up to 1000°C for very wet materials in co-current operation [212]. If
high temperatures are used, however, it becomes very important both to minimise the
possibility of air in-leakage and to ensure that material temperatures do not exceed the

limits discussed in Section A1.5.3.
Al1.6 System Characteristics Relevant to Drying

The power or CHP system also has a number of characteristics which influence the choice
of dryer. These include the available heat sources, the mode of operation of the system and

the system capacity range.

AL6.1 Sources of Heat

Integration of the drying process into the overall system by making use of sources of
thermal energy available at other points in the system is central to this study. This implies
that the selected dryer must either be of the conductive or convective type (Section A1.4),

or a combination of the two. For a biomass gasification system for power or CHP, suitable

sources of heat take the following forms (see also Figure 2.1):

e hot fuel gas which requires cooling (via heat exchange with secondary medium)

e hot combustion products from the engine or turbine (direct or via heat exchange

with secondary medium)
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¢ hot products from combustion at the dryer of surplus biomass (e.g. undersize)

e hot air from the air cooler in a steam or combined cyéle system (direct or via heat

exchange with secondary medium)

e hot water from engine cooling and/or condenser in a steam or combined cycle

system (via heat exchange with secondary medium).

The secondary medium referred to will in almost all cases be either air or steam. In the
case of CHP systems in which steam is being raised for external use, drying may be a

competing demand and a techno-economic optimisation would be necessary.

AL.6.2 Mode of System Operation

The bio-energy system, whether for power or CHP, will be required to run continuously for
extended periods. In order to make most efficient use of the heat sources which will
therefore be continuously available, the drying technology should also be of the continuous
type. Continuous dryers tend to be more expensive capital items than batch dryers which
usually involve relatively simple technology, although this is usually offset by the greater
operational costs associated with batch systems because of handling requirements. Batch
methods may be considered at very small system scales of the order a hundred kilowatts or
less where the capital cost of continuous methods may become excessive. They may also
- be considered where the method permits large batch sizes and long drying times so that the
ratio of loading/unloading to drying time (i.e. the period during which the available process

heat is not being used) can be minimised.
Al.6.3 Capacity Range

A biomass gasification system for power or CHP may have a thermal cépacity ranging
from 100 kWy, at the smallest farm scale to maybe 100 MW, for the largest envisaged
power generation systems that could be competitive with coal and gas [213]. This
corresponds to a range in dry throughput of biomass of less than 20 kg/h to over 50 t/h.
This is a very wide range, and most available drying technologies will be suited to some
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part of it at least in terms of capacity. At the larger scales it will be reasonable to consider
multiple units. It is therefore only possible to rule out drying technologies at the very
smallest end of the capacity range on these grounds alone - those designed for laboratory

work, for example.
A1.7 Dryers for a Biomass Gasification System

An initial selection of dryer technologies has been made using the classification given in
Table Al.1. As discussed in Section Al.4, the material category in Perry’s classification
corresponding to biomass gasification system feedstocks is “Granular, crystalline or
fibrous solids”. Small batch technologies, vacuum technologies, those technologies
requiring good free-flow characteristics and those technologies not based on conductive or
convective heat transfer can be eliminated, for the reasons given in Sections Al1.5 and
Al.6. Tunnel or cross-flow tray types can be eliminated, as these would always be rejected
in favour of through-flow systems if the latter are applicable (as is the case here), due to
their superior heat and mass transfer rates. Also, certain specialised technologies may be
rejected, such as screw conveyor dryers which are rarely used except when the material has

to be conveyed over large distances. The following six categories then remain:

Batch through-circulation

L]

e Continuous through-circulation

e Direct rotary

e Indirect rotary

e Fluid bed

e Pneumatic conveying.
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Each of these categories may contain numerous specific dryer types, only some of which

may be suitable for biomass gasification system feedstocks. Those suitable will fall

generally into three groups:
o dryers designed specifically for biomass gasification system feedstocks

e dryers designed for a different material or materials but deemed to be suited to biomass

gasification system feedstocks (possibly with some adaptation)

e less specialised dryers that can accept a range of material types, but which would be

suitable for biomass gasification system feedstocks

In the case of specialised dryer designs, there may in some cases be only a single
manufacturer or a very limited number. On the other hand for the less specialised design

concepts there may be a multitude of manufacturers each with their own range of subtly

different models.
Al1.7.1 Batch Through-Circulation

Through-circulation methods are attractive because of the efficient heat and mass transfer
involved, and because of the minimal disturbance of the material being dried. In most
industrial contexts, batch through-circulation drying implies tray dryers, where the material
is placed on a number of trays, usually stacked vertically in two or more columns and
enclosed in a cabinet. A range of configurations is possible. The trays will have screen or
perforated bases to allow through-circulation of the drying medium, usually air. As
indicated in Table Al.1 these are relatively small-capacity devices, and in Section A1.6.2
reasons were given why small-capacity batch methods were inappropriate for biomass

gasification system feedstocks.

One group of drying techniques which can be classed as batch through-circulation methods
do however provide an option for biomass gasification system feedstocks, because of their
low capital cost, high capacities, and particularly their characteristic of low intensity drying
which makes them well suited to the use of low grade heat. These are the fixed-bed
ventilated-floor methods used widely in the agricultural industry, particularly for air-drying
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of grain [211]. Such systems have indeed been found to offer a more economic alternative
to high-temperature flue gas drying for biomass combustion systems under certain

circumstances [214].

Hot
air
supply
Biomass
Perforated
floor

Figure A1.10 Perforated floor bin dryer for grain

The conventional form of system comprises a bin (Figure A1.10) or more simply a room,
with a perforated floor through which the hot drying medium, nearly always air, can be
made to flow via a plenum by the use of electrically powered fans. The wet material is
loaded onto the perforated floor to form a bed, the depth being chosen to give the desired
drying characteristics. Drying then takes place, the batch time being anywhere from a few
hours to a number of days. At the completion of this period the dried material is removed
and deposited in a buffer store and a fresh batch of wet material loaded. Means of heating
the drying medium (if required) may be provided at inlet, either electrically or by heat
exchange from a secondary carrier such as steam or the combustion products of a small
burner. Alternatively an already heated drying medium may be used directly. These are
simple systems which would require little adaptation for biomass gasification system

feedstocks, although their performance characteristics would differ from grain drying.

A more sophisticated design used in grain drying and of potential application to biomass
gasification system feedstocks is the top-drying bin (Figure Al.11), in which the ventilated
floor is located near the top of the bin and supports a relatively shallow bed of drying
material [211]. Once dry, this material is allowed to fall through doors in the ventilated
floor into the lower, much larger region of the bin which acts as a store. The hot drying
medium is admitted to this region above the maximum material level. In some designs, the

base of this zone is also perforated and a flow of ambient air is circulated up through the
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stored dried material to augment the heated flow entering above (as shown in Figure
Al.11), thereby reclaiming some of the sensible heat in the dried material at the expense of
some fan power. Again provision may be made for heating the primary drying medium if
this is required. Table Al.2 shows typical performance figures for corn drying in a
commercial top-drying bin [215], but note that the bulk density of air-dried corn is about
700 kgm™ compared with about 170 kgm™ for air-dried wood chips, so that a much larger
bin would be required for wood chips at the same mass throughput.

Hot
air
supply
Biomass
Perforated Cold
floor air
supply

Figure A1.11 Top drying bin

With both conventional and top-drying systems it is possible to automate the material
loading and unloading to varying degrees, greater degrees of automation requiring greater
capital outlay particularly for large systems, although the poor flow properties of biomass
gasification system feedstocks compared with grain may limit the possibilities of direct
read-across from grain systems.

Perforated floor bin dryers are not marketed specifically for biomass gasification system
feedstocks. They are principally designed for grain, with some manufacturers offering
adapted designs for other agricultural produce such as peanuts or rice [215]. There are
nevertheless cases where perforated floor bin dryers designed for grain have been used for
the drying of biomass gasification system feedstocks in small bio-energy systems [216], in
which any necessary adaptation has been carried out by the user. It is important however
to bear in mind the large differences in bulk density referred to earlier, particularly for
more sophisticated systems. Equipment designed for grain may be purchased at a wide
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range of capacities. The use of multiple units at larger system sizes may improve

utilisation of handling equipment and fan power, and make better use of available heat.

Table A1.2 Top drying bin performance data (corn) [215]

Aston University

Nlustration removed for copyright restrictions

The choice of depth of the fixed bed in such systems is a key consideration. Fixed-bed
through-circulation heated drying of wood chips has been studied by Nellist at Silsoe
Research Institute in the UK [35], where models have been developed and validated to
describe the process. The issue of bed depth is addressed and recommendations are made.
The main recommendation is for relatively shallow depths (0.4-0.6 m), as these minimise
fan power requirements and reduce over-drying of the lower layers. However, the

shallower the bed, the shorter the drying time to reach a target mean moisture and the
greater the frequency of charging and discharging.

Drying performance will also be influenced by drying medium humidity at inlet. The
direct use of combustion products is usually not possible, because the combination of
relatively high humidity and limits on maximum inlet temperature (see below) would result
in very little drying taking place. This is why air is nearly always used as the drying
medium, heated from whatever heat source is available by a heat exchanger .
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A drawback with fixed bed through-circulation methods is that they invariably produce a
large vertical gradient in moisture content of the dried bed. The lower levels of the bed
almost always reach the inlet temperature of the drying medium, and this effectively limits
the latter to the material temperature limit which for long residence time systems such as
this would be 100°C or less (see Section A1.5.3). Importantly, the dried product needs to
be thoroughly mixed, and possibly allowed to equilibrate for a period in a buffer store,
before being used. If in the process the material is exposed to ambient conditions for any
length of time, the moisture content may rise (see Section A1.3.3). In top-drying systems,

mixing and equilibration is accomplished to some extent in the integral store [211].

In general, the characteristics of low gas velocity, low -temperatures and a static bed

associated with these methods mean that there is no need for clean-up of the gaseous
exhaust. This adds further to their capital cost advantage.

Al.7.2 Continuous Through-Circulation

Continuous through-circulation methods take one of two basic forms. By far the most
widely used is the band or belt conveyor dryer, in which the drying medium is blown
through a static layer of material on a moving band. Less common is the rotary louvre
dryer, in which material passes along a slowly rotating tube, forming a rolling bed through
which drying medium is blown from an outer annulus via louvres. Continuous through-

circulation dryers are most often used for materials that require gentle handling.

Al1.7.2.1 Band Conveyor Dryers

The band conveyor dryer operates by blowing the hot drying medium vertically through a
uniform layer of material carried on a permeable band which moves horizontally through
the enclosed drying chamber. Gas flow may be upward or downward. In the single-stage
single-pass design (Figure Al.12), a continuous band runs the whole length of the dryer.
In the multi-stage single-pass design (Figure Al1.13), a number of bands are arranged in
series, with the material discharged from the end of one band onto the beginning of the
next and in the process exposing new surfaces to the drying medium. In the multi-pass
design, a number of bands are installed one above the other, each discharging onto the
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band below (Figure Al.14). The same re-exposure benefit is gained, but dryer length is
much reduced at the expense of height.

Moist gas out ¢
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Figure A1.12 Single stage single pass band conveyor dryer
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Figure A1.13 Multi-stage single pass band conveyor dryer
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Figure A1.14 Multi-stage multi-pass band conveyor dryer
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The drying medium is usually either hot air or combustion products or a mixture of both,
and is moved through the dryer by a number of fans. In most modern systems, the dryer is
divided up into zones (usually corresponding to the stages in a multi-stage dryer) through
which the drying medium progressively passes (as in Figure A1.12). Each zone usually
has its own fan. In the case of ambient inlet air systems each zone will have either a steam
heater or a gas or oil burner for heating and re-heating of the air. The fans and heaters are
often located in a side compartment, as shown in Figure A1.12. In the case of systems
using pre-heated air or hot combustion products as the drying medium, there may be ports
in each zone for the progressive admixture of fresh gas. The general movement from
drying medium inlet to outlet can be either co- or counter-current with respect to the

passage of material.

Even spreading of the material over the band at the material inlet and between each stage
or pass is very important, and considerable attention is paid to this aspect by designers
resulting in many patented designs. In some cases these are material-specific, with at least

one commercially available system (made by Saxlund of Norway) having been designed
specifically for wood fuel chips [217].

The band conveyor dryer has the advantage that both residence time and, in most designs,
temperature can be closely controlled. This is of particular use in drying heat-sensitive
materials. Residence time for a given band length is set simply by the speed of the band.
Temperature control is achieved either by controlling the steam flow to each steam heater
or the fuel flow to each bumer, or in hot gas systems where progressive admixture is
possible, controlling the flow rate to each hot gas port. Temperature is however limited to

around 350°C because of the problems of lubricating the conveyor, chain and roller drives

[157].

Most designs have a relatively shallow depth of material on the band (usually in the range
2-15 cm), and the uniformity of drying is very good. There is no reason however why
much greater depths and slower band speeds cannot be used for low temperature air
drying; the dryer is then like a continuous fixed bed where the residence time in the dryer
is similar to the batch time of the fixed bed dryers described in Section A1.7.1. Air

temperature must be limited to below 100°C for the same reasons as given in Section
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AL.7.1. This configuration is sometimes called a moving floor dryer. The main advantage
over the batch approach would be the reduced labour requirement. Also, although this type
of dryer would still produce a large vertical gradient in the bed moisture content, the
subsequent mixing of the product would happen naturally as the product deposits

continuously from the conveyor. The drawbacks in comparison with the batch approach

would be the increased capital, power and maintenance costs.

On multi-stage and multi-pass designs, bed depth can be varied through the dryer if desired
by adopting different band speeds. Because the material suffers very little agitation during
the drying process (particularly for single pass designs), band conveyor dryers are
particularly well suited to friable materials, although as pointed out in Section A1.5.1 this

- would not generally be of advantage to biomass gasification system feedstocks.

Entrainment of fines with this type of dryer should be low due to the low velocities and
static material bed. A bag filter may still however be necessary, depending on local
regulations. A major advantage of using indirect steam re-heating of air in this context
would be the much reduced volume flow of gaseous emissions, so that if clean-up

equipment is required it is much smaller and therefore cheaper.

Specific performance data for a band conveyor dryer with biomass gasification system

feedstocks may be found in Section 4.3.2.2.
Al.7.22 Rotary Louvre Dryers

The rotary louvre dryer (Figure Al.15) may be thougfxt of as a direct rotary dryer;
however, unlike more conventional rotary dryers (Section A1.7.3) it uses through-
circulation drying, and so is included in the present section. The dryer comprises a long
tube inclined at a small angle to the horizontal which rotates slowly. On the inner side of
the tube wall are a large number of longitudinal channels, each with a hinged tangential
louvre covering it. The louvres overlap, forming an inner cylinder which caries the
material being dried. The material forms a slumping bed moving slowly down the tube as
it rotates. The drying medium is admitted along the channels and blows through the bed of

material via the louvres, exiting at the material outlet. A stationary head plate constrains
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the drying medium to enter only those channels which are covered by the material bed
(Figure A1.16).

f Moist gas outlet
Wet material in

Axis of rotation

PSSR

Hot gas inlet

¢ Dry material outlet

Figure Al.15 Rotary louvre dryer

Direction
of rotation

Hot gas in

Figure A1.16 Gas flow - rotary louvre dryer

The material depth tends to increase as the outlet is approached. The gas velocity through
the bed is therefore at its lowest near the exit where the material is driest, and this tends to
reduce entrainment. The depth is controlled by an exit weir over which the material passes
to reach the dryer outlet. Drying is highly uniform as the material is constantly rolling in
the bed; however, the particle motion is relatively gentle compared with cascading rotary
techniques (see Section A1.7.3), and this also leads to low entrainment. Exhaust clean-up
equipment is more likely to be required than with band conveyor dryers, however, if fines

are present in significant quantities, as the material is agitated to some extent. Temperature
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along the dryer may be controlled if required by using multiple gas feeds of different
temperatures along the dryer.

The drying medium is usually air or hot combustion products. Direct oil or gas burners or
indirect stcam heaters can be incorporated for the heating of ambient air prior to the drying
section inlet. An upper temperature limit of 600°C has been quoted [157].

Heat transfer in the rotary louvre dryer is very efficient as with other through-circulation
methods, and dryer volumes arc substantially less than for an equivalent cascade rotary
dryer (Section A1.7.3). However, this is offset by greater complexity of construction
which pushes capital costs up. Pressure drop across the dryer is also higher, necessitating
greater fan power. The dryer is best suited to free-flowing materials for obvious reasons;
the design is prone to clogging [195), and this could prove a problem with some biomass

-gasification system feedstocks.
A1.73 Direct Rotary

The direct rotary dryer, or rotary cascade dryer, is very widely used in industry for a wide
range of materials [72,218). It is often the dryer of choice on economical grounds where
air or combustion products are the drying medium and the material can withstand moderate
agitation. The rotary cascade is the type of dryer most often found in the limited number
of existing large-scale biomass gasification system projects, as well as in large wood-chip
combustion system [219,220]. It is well-understood, empirical design rules exist, and the
rotary cascade dryer is thus perceived as a low risk choice. '

The dryer (Figure Al.17) consists of a cylindrical shell, inclined at a small degree to the
horizontal and rotating at between about 1 and 10 r.p.m. depending on size. The length to
diameter ratio of the shell usually lies between 4 and 10, with actual diameter ranging from
<Im to >6m depending on throughput. Material is loaded into the shell at the upper end,
passes along the shell and exits at the lower end. The drying medium, either heated air or
combustion products, may cither enter at the upper end (parallel-flow arrangement) or at
the lower end (counter-flow arrangement). On the inside of the shell are a number of
longitudinal flights (Figure A1.18) which may be continuous or staggered, and which are
designed to lift the material around the periphery of the dryer and cascade it in a uniform
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curtain through the passing gases. The material thus moves down the dryer by a
combination of gravity and, in the case of parallel-flow dryers, entrainment with the drying

medium.
Wet material in s Moist gas out
ng Tiig
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Hot gas in =k ——

Drive

Dry material out

Figure A1.17 Rotary cascade dryer

Figure A1.18 Typical flight arrangement, rotary cascade dryer

Residence time in the dryer is controlled by a number of factors including flight design
(the amount of hold-up on the flight), number of flights, rotational speed, gas velocity,
dryer length and dryer inclination. The overall hold-up bulk volume is usually in the range
3-12% of dryer volume, 7-8% being a common figure [197]. Drying takes place almost
totally during the period when the material is falling through the gas stream; drying whilst
being lifted by the flights is minimal. In a well designed and operated dryer, there should
be no significant bed of material in the base of the shell.
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Overall heat transfer is less effective than for through-circulation systems, and higher inlet
temperatures are generally used. Heat transfer is generally superior in counter-flow
systems; however, in such systems the driest material sees the highest drying medium
temperature, and they are generally therefore not suitable for temperature-limited materials
including biomass gasification system feedstocks. Inlet temperatures of up to 1000°C are
possible with non-heat-sensitive materials, or with very wet materials in a parallel-flow
configuration (as the drying medium loses temperature rapidly during the initial drying
stages), although temperatures above about 600°C would require either expensive alloy
steels or refractory lining [221]. However in the interests of safety (see Section A1.5.4)
inlet temperatures wiuen drying wood chips in commercial installations have often been
limited to between 250°C and 300°C [188]. The dryer is usually operated under slight
suction with an induced draught fan at the exit, and sealing problems leading to air in-
leakage have been a weakness in many installations trying to maintain a low-oxygen

environment.

Gas velocities are usually in the range of 0.5-5 ms™ at exit, depending on type of material,
flow arrangement and the amount of camry-over of material due to entrainment [157]. A
design value of 2-3 ms™ is typical in modem systems. The unavoidable carry-over of
entrained material and the relatively large gas volume flow rates make sizeable dust
removal equipment usually essential, and this can represent a significant additional capital

cost. However, entrainment can also serve to reduce the residence time of the smaller

particles and inhibit over-drying.

Exhaust gas recycle is often incorporated in direct rotary dryers to try to reduce the drying
medium requirement and the exhaust gas flow rate. This results in more humid conditions
in the dryer. Less drying can take place; however, overall thermal efficiency may be
improved. In general, thermal efficiency for direct rotary dryers lies in the range 50-75%
[197], the highest values being found for counter-current systems with high inlet

temperatures.
Many systems are offered with heating equipment at inlet, often in the form of a gas

bumer. In at least two systems for drying wood chips, fines separated in the exhaust

~ cyclone are used to fire a small combustor to provide additional hot gases for the dryer
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[78,212]. In this case fines would not be screened prior to the aryer; 2250uek fire risk and
blue haze emissions may be increased. An alternative would be to divert the combuétor

feedstock prior to drying; however, this would lead to a lower temperature drying medium

with a higher initial humidity, both of which would lead to reduced efficiency.

Specific performance data for direct rotary dryers with biomass gasification system

feedstocks may be found in Section 4.3.1.2.

Al.7.4 Indirect Rotary

There are three main reasons for employing indirect (conductive) rather than direct

(convective) heating in a rotary dryer:

¢ The material being dried cannot be exposed to combustion products
e Direct heating will lead to excessive entrainment and carry-over of fines or dust
e A low-cost source of low to medium pressure steam is available

Where the heating medium is combustion products but the material cannot be exposed
directly to them, a number of designs exist for bringing the gases into indirect contact with
the material, including single-pass concentric outer shells, or double-pass arrangements
with an outer shell and an inner tube. As this situation does not arise with biomass

gasification system feedstocks, these designs will not be considered further.

It may well be the case, however, that a suitable source of steam may be available, and that
benefits of much reduced exhaust gas flow and carry-over make an indirect rotary option
attractive. In this case, the most usual form of dryer is known as a steam-tube rotary dryer
(Figure A1.19). Steam tubes running the full length of the dryer are arranged in a number
of concentric rows moving inwards from the dryer shell. The number of rows will depend
on the nature of the feed; Figure A1.19 shows two. The tubes are fixed to the dryer end
plates and rotate with it. The dryer shell is usually inclined at a small angle to the
horizontal, and the wet material enters the shell at one end and moves down the dryer by
gravity, assisted by the ploughing effect as the tubes rotate through the material bed.
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Flights may be fitted to improve the motion. The arrangement gives excellent material
contact with the conducting surfaces of the tubes. A small flow of air is employed, usually
counter-current to the material flow, to effect the removal of the evaporated moisture - the
volume flow is very low compared with direct designs. Hold-up within the dryer is usually

controlled by a weir plate or similar device at the discharge end, as with the rotary louvre
dryer (Section A1.7.2.2).

Section AA showing
steam tubes

Material inlet,
air inlet and &
outlet X
Material outlet

Figure A1.19 Steam-tube rotary dryer

Heat transfer in these devices is by conduction from surfaces at or close to the steam
temperature. The material temperature will normally be close to the moisture boiling point
at discharge, rather hotter than in direct systems (see Section A1.3.4). Saturated steam is
normally used, typically at 10 bar, and the steam passages will be designed to be fully
condensing. Thermal efficiency can be very high, in the range 75-90% [197], although this
takes no account of fhe efficiency of steam generation. Capital costs can also be high,
however, due to the tubing requirements, rotating seals and so forth. This may be partially

offset by the lower cost of back end clean-up due to the low exhaust gas flow volume.
Al.7.5 Fluid Bed
If the gas velocity through the bed of an up-flow through-circulation dryer is steadily

increased, a point is reached where the bed becomes fluidised - that is, it behaves like a
fluid. Between this point and that where the velocity is sufficient to entrain the typical
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particle and carry it out of the bed, lies the fluid or fluidised bed regime. Once entrainment
dominates, we enter the regime of pneumatic conveying dryers (Section A1.7.6).

Fluid beds are characterised by very high heat transfer rates and very good mixing; they
represent in many respects ideal drying conditions [197]. In fluid bed dryers (Figure
A1.20) the fluidising gas is the drying medium, and may be air, combustion products or in
special cases steam [222,223] (see Section Al.7.5.1). Usually the source of heat is the
sensible heat of the drying medium at entry to the bed, although indirect heating of the

medium by in-bed steam tubes has been used in some designs.
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Figure A1.20 Types of fluid bed dryer

Fluid bed drying is well established for both batch and continuous processes. It is
generally fast and efficient, and equipment size is relatively small compared with more
traditional techniques. In the case of continuous processes, beds are usually either of the

well-mixed type or the plug-flow type (Figure A1.20).

Well-mixed types are characterised by large bed depth to width ratios and a large particle
residence time distribution because of the highly vigorous mixing. In drying this implies a
wide range of moisture contents, and plug flow designs with shallower beds in which the
mixing is less vigorous are usually preferred. Material is admitted to one side of the bed
and extracted from the other. Two or more bed chambers may be used in series to control

the temperature/time history.
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Because of the efficient heat transfer and mixing, the bed temperature is very uniform
away from the immediate vicinity of the distributor plate through which the fluidising gas
is admitted. This has two important consequences. Firstly the temperature of the drying
medium drops very rapidly from its inlet value to the bed value, so that high inlet
temperatures can be used (up to 750°C with normal materials of construction) without the
risk of exposing the material to such temperatures for more than very brief periods.
Secondly the temperature of the dried material leaving the bed and that of the exhausting
gas is usually very similar.

Material size is an important consideration for fluid bed dryers. The material must be in a
suitable form for fluidisation. This generally means particulate material of a reasonably
small size (dependent to some extent on density) and a reasonably uniform size
distribution. Fluid bed dryers have found widest application for particle sizes of less than
10mm (usually significantly less) - qﬁcn granular or crystalline materials with very

uniform size. An average particle size of 10mm has been suggested as the upper limit

[224].

Larger size materials can be dried successfully, although there are one or two potential
problems the seriousness of which will be dependent on the specific material and end use.
Higher fluidisation velocities are required for larger particles, and also longer residence
times in order to complete the drying. This will increase the tendency to entrainment and
carry-over of smaller particles, and as particle size increases the size range tends to
increase also, compounding the problem. Fortuitously the particles that become entrained
will tend to be the lightest and therefore the driest particles, so that carry-over can be

viewed as a self-ejection mechanism which acts to prevent over-drying.

Cyclone separation is nearly always necessary with this type of dryer (certainly for
biomass gasification system feedstocks), so the separated dry material could simply be
added to the main material outlet stream. Also associated with larger particles is the
phenomenon of channelling - the formation of large voids in the bed due to fluid dynamic
instabilities. This is very much a function of the precise material and size distribution, and

would need to be investigated experimentally.
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Emissions such as blue haze would be controlled by selecting an appropriate bed
temperature. Particulate emissions are more of a problem, and a second stage of dust
removal may well be necessary beyond the cyclone stage (bag filter or scrubber)

depending on local legislation.
AL.7.5.1 Pressurised Steam Fluid Bed Dryer

A Danish company, Niro, has recently developed a unique design of pressurised steam
fluid bed dryer specifically for moist fibrous particulate materials [222,225,226). The
dryer is shown in Figure A1.21. The dryer was designed primarily for the brewing, food
and sugar processing industries, but at least two systems are in operation for the drying of
wood chips [227].

i

” ey

Figure A1.21 Pressurised steam fluid bed dryer (Niro A/S)

Recycled moisture evaporated from the feed forms the low-pressure steam drying and
fluidising medium. The bed of material is contained in 16 cells, arranged around a central
high-pressure superheated steam heat exchanger. After leaving the cells the low-pressure
steam passes through a cyclone for dust separation, after which the excess steam from
evaporation is discharged, and the remainder passes down through the heat exchanger to be
heated indirectly to about 200°C by the high-pressure steam (max. 25 bar g, 250°C),
before returning to the bed distributor plates. The continuously discharged flow of
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evaporated steam is at about 2.8 bar g and 150°C, and may therefore be used as process
steam elsewhere although it may require cleaning once condensed. The drying material
passes through the 16 cells in sequence before being discharged from the last. Fines
separated in the cyclone are passed directly to the final cell. Table Al.3 gives typical
performance data for the drying of wood chips.

Table A1.3 Pressurised steam fluid bed dryer performance data
(data provided by Niro A/S [228])

Aston University

lustration removed for copyright restrictions

Niro claim a very efficient process because of the utilisation of the recovered steam,
although a suitable external use must exist, as MVR for intemmal heat recovery is
impractical with this configuration without major modifications. If the energy recovery is
ignored, the thermal efficiency is around 70% if the high-pressure condensate is
discharged, rising to well over 90% if the condensate is part of a closed high-pressure
steam cycle. Almost all of the energy used to dry the material can be recovered.

Niro also claim excellent environmental performance as a result of the system being fully

closed with no gaseous emissions to atmosphere.
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The minimum size of dryer offered has a capacity at 25 bar steam pressure of 3 tonnes per
hour water evaporated, and the largest 40 tonnes per hour. Niro have suggested 5 tonnes

per hour as a minimum for a viable installation drying wood chips [228].

Capital cost is high due to complexity of design, and the dryer is likely only to prove
attractive for relatively large scale systems and where the full benefit of energy recovery
can be realised.

Al.7.6 Pneumatic Conveying

Pneumatic conveying dryers achieve rapid drying with short residence times by fully
entraining the material in a high velocity gas flow. The category is usually taken to
include dryers where the entraining gas is combustion products or steam as well as air.
Most pneumatic conveying dryer types can be dismissed for the present purposes because
they require a fine particle size much smaller than would be suitable for most gasifiers or
than could be economically prepared for biomass gasification system feedstocks [229].
These include conventional flash dryers (Figure A1.22) - very short residence time single-
pass devices for removing relatively small amounts of moisture - and most ring dryers, in

which the material is carried in an endless ring duct (Figure A1.23).
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Figure A1.22 Flash dryer
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A high-pressure steam flash dryer has been developed for biomass gasification system
feedstocks by IVO in Finland [230], but this is specifically intended for a pressurised fluid
bed gasifier using very small particles of 2-3 mm diameter. The dryer is intended for use
in the IVOSDIG cycle, in which the high pressure steam produced in the dryer is used to
boost the mass flow through the gas turbine, thereby offering overall efficiency

improvements.
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Figure A1.23 Ring dryer
Al.7.6.1 Pneumatic Conveying Pressurised Steam Dryer

One pneumatic conveying design related to the ring dryer has been developed specifically
for steam drying of biomass at particle sizes up to 50 mm. The dryer is a closed-loop
pneumatic conveying dryer using only indirectly heated steam from the liberated moisture
as the conveying and drying medium. It has been developed in Sweden over a number of
years by the Chalmers University at Gothenburg, the MoDo-Chemetics company and Stork
Friesland Scandinavia [186,187,231]. The technology, which was developed primarily for
the wood products industry, is now owned and marketed as the “Exergy” steam dryer by
Stork Engineering. :

The system layout is depicted in Figure A1.24. The design philosophy has much in
common with the Niro steam dryer (Section A1.7.5.1), including a high degree of energy

recovery and zero gaseous emissions.
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The drying section consists of a sequence of vertically orientated shell-and-tube heat
exchangers, through which the material is conveyed and the liberated steam superheated
indirectly, usually by high-pressure satwrated steam although combustion products or
thermal oil can also be used. In the case of high-pressure steam, the heat exchangers are

designed to be fully condensing. The number of stages depends on the degree of drying
| réquired. The dried material is extracted in a cyclone at the end of the heat exchanger
train, and the near-saturated steam continues around the loop to a steam extraction point
where the excess is continuously bled off at between 2 and 6 bar, available for external use.
The remainder of the steam continues to a first stage of superheater before reaching the
material inlet point and re-entering the drying section. Typical residence time of material
in the dryer is 10-30 seconds, and a high level of uniformity in final moisture content is
achieved.
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Figure A1.24 “Exergy” steam dryer (Stork Engineering)

Figures given imply a thermal drying efficiency (excluding recovery) of about 75% where
the heating steam condensate is discharged, rising to 95% where the condensate is part of a

closed steam cycle [232].

Standard units using 10 bar steam as the heating medium are offered at sizes from 0.25-5
tonnes of water evaporated per hour, but these are designed for fine materials such as wood
shavings, sawdust, sludge etc. with a high initial moisture content. Much larger units have
however been supplied specifically for forestry wastes including wood chips of up to
50mm, with the objective of producing wood fuel pellets.
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Process data for two such systems is given in Table A1.4; unfortunately cost information

has not been provided.

Table A1.4 “Exergy” steam dryer process data

System Skellefted Kraft | Example B
Evaporation capacity (t/h) 22 12,5
Inlet moisture (% db) 122 150-233
Final moisture content (% db) 14.9 5.3-25
HP steam pressure (bar) 26 12

LP steam pressure (bar) _ 4.2 6.5

The process configuration is well suited to the application of MVR (Figure Al.4), and an
MVR option for internal heat recovery is offered by Stork for cases where there is no

external use for the extracted steam.
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APPENDIX2 SYSTEM MODEL WORKSHEETS

A2.1 Worksheet: Inputs

-

i CONFIGURATION — -
o Gisbertyps 1] 1 RESG E——
= 2 UGETC e
== Dryer type E 1 rotary cascade
| 2 rotary cascade (integral bumer) o
| 3 band conveyor B
— Engine type =] 1 smbient sir T
= 2 oxygen-enriched sir i -
= Oupatps [T 1 powaronly —
e 2 CHP i R
] CONDITIONS - SINGLE RUN A T
o] Biomass cost at plant gate £/t range 20 - 120 I ——
] Biomass dry flow rate to gasifier 0.55 kg/s tange 0.1-06 o
_— Biomass moisture at dryer inlet 100 % db range 40 - 120

2 Biomass moisture at dryer outlet 50 % db range 10 - 50 B
i Air oxygen concentration 0 gasiier frac. by vol range 0.21-0.6 R

CONDITIONS - MULTIPLE RUNS
(all combinations calculatsd)

[ New Tabis |

{ Add to Table |

RFSG capttal costfactor 7)) [ ]

—
. Biomass cost Biomass dry fiow Biomass moisture Biomass moisture Aur oxygen conc.
] at plant gate rate to gasifier at dryer inlet at dryer outlet to gasifier
— Bt kg/s % db % db frac. by vol
— 6 0.556 S0 10 021
1 5 20 028
| 100 K -] 04
— 50 0.6
' ;
i COST CALCULATION PARAMETERS
] Discount rate / E = -
= et o R e — —-
= Plant number a (i e. nth plant)
B Annuity factor AF 0.09%
] Leaming ratio LR 0476
] Electricity price £/KWh
e
]

H L
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A2.2 Worksheet: Rotary Cascade Dryer

: ! | B ) : , :
ROTARY CASCADE DRYER (direct, air ac flun gas) | '
" Standard fusl [chipped SRC poplar) saly

All gos ord bomats quantibes on dry bass U0 8.

]

|’|

Bumer (RCIB) opersies al fized AFR
R Value___ Untis
PERFORMANCE _
" Requed b fow rate. 04T |_ko's Total b flow rate [ o491 | koss
20 WrBlure N w0 | % Water mpofmon rate 0.245 kp's
B  morsture ot 50 %___ Water enthalpy B2B___ klkg
" Buomass tempersture out SO 5 e e Wuormhdprml _______ 341 kdkg o i’
Biomass mean specic heal T Uﬂth i
" Ambent tompersturs s ot Ambent awspecichest 1003 kphkg_ L
T Ambeant humsdty Q00865 _ kpkg__ Ambient vapour enthalpy 2562 kikg " meramions
un m beomats ats Bow rrate {d 8 1) um kg's Max. bumer exhaust ges flowrate_ D807 kg's .
Fmdmxwumdhm lm Mlthmrllhwdgll(}ﬂ?lwutl 0.432 ko/s CpCO2 11835
T 77 Miax. bumer exhaust gas N2 flowrate | 0585 | kgls . CpN2 1121.2
T ST R A e S R — Max. bumer exhaust gas 02 flow rate 0081 | ko's __Cp02 _ 10476 _
T Max | II'I.IHIIT ‘oxhaust gas H20 flowrste | 0.084 | ko/s T epH0 T 21357
Bumer exhaust gas humdey 0.104 kgkg _
B - Bumer exhaus! gas t 1229 ¢ GasTemp_ 10000 _
T T Bumer exhaust gas. qm:frc heat 0.280 I:.J."kgK
Eumor haust gas vapour :nthalp! 4330, E __kikg
Y -y e 1837 " kg/s Bumner sxhaust gas flow n rui;lo_dr}:“u 0301 kye T T T
" Engw sxhaust wet ges fow rats, 1705 | Nmdfs___ Engne exheust wet gus flow rate (PO)__ 470577 Nmds_GesDel ___ 1180 %~ "
" Engwe exhaust gas temperaturs IS5 | = Engine sxhaust gas tempersture (CHP) __236.! "‘_ _ _TempDel _ n [I D
“ Engne exheust [CO2]_ "7 7| 8431 frac. byvol___ Engine sxhaust gas flow rate _ 2009 kg's
" Engine axhaust [N2] 0558 byvol __ Engne exhsustvapourenthalpy_ 3723 kg
—ti Engre axheust [H20] 0.142 ffrac. by vol___ Engine exhaust gas humidity 0. CB?u_kgﬂ(g .
== Engine S ahaust |02} 0.069 _jfrac. by vol __ Engine exhaust gas specsic | llnt Mo kg
" Togel oemax ges temperture i T300 " *° " Calculated gas tamperaturs in 000 o TempErmor 0000
T Gas lomperalins ol 10 [ GasCO2flowrste D487 kg = e
e R Gas N2 fow rate M0 ky's E
GasO2owme, .o oo BT kg
et Gas humiday in DEE?___ltg-‘kg
Summed gas flow rate 4247 ky/'s
___ Calculatedgasflowrate. 4247 ¥ kg’s FlowEmor _ 0000 Y
S ——— T Gas humidty out 0115 kgkg
_____ Gasspecficheatin. = 1016 _ kikg _ _—
s = e Gas specific heat out 1.002 kg
e Yapourenthalpy w0 3725 kikg S
—_———— Vapour snthalpy out 721 | kiikg
T Wall het loss 8  %hesiim  Electncal power _ kW
g e Energy consumption fthermal) 8320 MUkgWE R
ST T iy S Energy consumption (total) 845 MIkgWE
CosT
T e iy e M - -a oy = " " —— 58173 _—_-.c_ I ——
_ Mean latent heat dnpmcmmn___zas_ﬁ_mn
Hest ferred to wlnil o x GO
Mean temperatura differer T
Equip cost —— L AT RDO (il
Total plant cost - 15t plant 106 £000 3
Total plant cost - 10th plant [ 4938 l £000_ Sk Ty
Annual cost of capital 1492 " |£000pa
Other operating costs: ] Y
Labowr___ S00__£000pa N
__ Overhead: M - 1
Maintenanc 1987 £000pa.
Total [ B35 _Jsomapa___
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A2.3 Worksheet: Band Conveyor Dryer

BAND CONVEYOR DRYER (direct, air)
'Bed depth 0.5 m, fan pressure 500 Pa, ambient conﬁmons 15°C and B0% relative humidity

"All gas and biomass quantities on dry basis v.0.s.

S Value | Units | |
i . _ . S || -
PERFORMANCE ! i | )
Required biomass flow rate 0.556 T e
~ Biomassmoisturein | 100 | % | ‘Water evaporation rate
'Biomass moisture out 50 g A
‘Specific water evaporated
. IR | A |Specific water evaporation rate
|
‘Ambient humidity (000865 kokg | |
|Air temperature in II] °c
Specific fan power | B33 | Wim?
Air velocity onto bed L1 o OO, Yol
| | . | Specific air flow rate
b=l ; — ] ! | |Air flow rate
(Air volume flow rate
= = (Air specific heat in
'Vapour enthalpy in
éDrying time
| Total bin floor area
:Elsctrical (fan) power
{Energy consumption (thermal)
{Energy consumption (total)
CoST

|Equipment cost
| | Total plant cost - 1st plant

: | | Total plant cost - 10th plant
I ] Annual cost of capital
|Other operating costs:
= =T . | Labour
' - |Overheads
= ' |Maintenance

Total

A5l

_Value | Units

0278 kgls

3750 | kg/m?
| 0.00970 | kg/s/m?

oaw m*/sim?
Nm'/s |
24.07 m/s
1005 @ kikgK
25903 kdkg
1.07 hours
28.66 m?
W
6290  Mlkgwe
6376  Mikgwe
1321 £000
0.0 £000

0.0 £000
|_00 |£000p.a.

00 £000p.a. |
00 £000p.a.
00  £000 p.a.
-fwﬂ pa.



A2.4 Worksheet: Reverse Flow Slagging Gasifier

'RFSG CONFIGURATION
\Air pre-heat and oxygen enrichment

 Feedstock: ~ chipped SRC poplar
Analysis (dry ash free) CH1.5300.68

__Ashcontent(dry): | 230% |
LtV @ry)y:| | 18.2 MJrkg

All gas and biomass quantities on d.a.f basis u.0.s.

‘Biomass flow rate
'Biomass moisture content

Air oxygen concentration

~ Specific air ﬁo;x_ra!e-(bar unit biuméés)
_Air flow rate

‘Specific product gas flow rate (per unn blomass)
Product gas flowrate.

Product gas temperature at regenerator exit.

Prod as iti
[Ha)

[CO]
[CO]
[CHa)
[Ne]

[H20]

Product gas LHY
Cold gas efficiency (LHV basis)

Gasifier total plant cost - 1st plant

Gasifier total plant cost - 10th plant
_Annual cost of capital

Other operating costs:

Labour

‘Overheads

Maintenance

Total

AS52

0543 | ko's
%

[ G60Jiac bywl

0.476 Nm’/kg
[ 0289 | Nm'ss

1810 | Nmkg

; Nm'fs

B.114 | MINm® |
78 | %

5063.1 | £000
24122 | £000 |
2402 |£000 p.a.

1445  £000 p.a.
955 £000 p.a.
£000 p.a.

—m:pa.‘



A2.5 Worksheet: Updraft Gasifier with External Tar Cracking

'UGETC CONFIGURATION E
‘No air pre-heat or oxygen enrichment e
Feedstock: ‘chipped SRC poplar

Analysis (dry ash free): CHy 5300 6

Ash content (dry): 230% |

LHV (dry):| 18.2 MJ/kg

All gas and biomass guantities on d.a.f. basis u.0.s.

Biomass flow rate
'Biomass moisture content

Alr oxygen: concentration

Specific air flow rate (per unit biomass)
Air flow rate

Specific product gas flow rate (per unit biomass)
Product gas flow rate

'Product gas temperature at gasifier exit

b =
[Ha)

[CO]

[COy]

[CHa]

[N2]

[H20]

:Prudud gas LHV
Cold gas efficiency (LHV basis) |

Gasifier total plant cost - 1st plant
‘Gasifier total plant cost - 10th plant
‘Annual cost of capital

Other operating costs:

Labour

0543  ko's
%

0.21 ':frac._ by vol

Nm/kg |

Nm/s |

 Nmkg |

Nnr'ls

_Overheads
Maintenance

LT T I el

0.0 %
0.0 £000
0.0 £000
0.0 £000 p.a.
00  f00pa.
o.u £000 p.a.
£000 p.a.
| II.II |£000 pa. |

AS3



A2.6 Worksheet: IC Engine

Sy .

All quantities wet basis 1.0 s

Gasifier exit [Hy)
Gasifier exit [CO]
IGul-m!CO:]
Gasifier exit [CHy)
Gasifier exit [Ng]

Engine infet [Hy]
Engne inlet [CO|
Engine inlet [CO;)
Engine inlet [CH]
(Engine inlet [Ny] _
Engine inlet [H;0]

Fuel LHV (dry basis)

Fuel temperature
Fuel flow rate (dry basis)
Thermal input

Aur lemperature
Adt flow rate
Mixture lotal flow rate

Brake thermal efiiciency
Generator eficiency

Owerall electncal efficiency
Deerating 1o product gas operation
Exhaust gas flowrate
Exhaust gas temperature

Exhaust gas [CO)
Exhaust gas [Na]
Exhaust gas [H0]
Exhaust gas [Og]
Exhaust gas humidty
Exhaust gas specific heat

Cooling water fiow rate
Cooling water inlet temperature
Cooling water outlel temperature

equipment cost

0303 | frac. byvol
0.115 | frac by wol |
0244 | frac bywol
0049 | frac by vol

0087 | frac byvol

0361  fac byvol |
0137 fec byvol |
0290 frac bywol
0058  frac. by vol |
0108 frac. by wol

005  frac byvol |

7
~F 174 bywl
2866 by vol
8138  MINm |
e =R T
Nl
. Bo | mMw
% | % =
3088 Nm's
4 424 m’h

%

T i

. % |
e

- — MW i
EEkS
£
0131 | frac. by vol
0658 | frac byvol

0.2 | frac by vol
0069 | frac. by vol
0097 _ kokg |
| 1105 Y kdgK
o] ks

-] be

0  °
487 5000

of total plant cost - 18t plant 22911 £000

total plant cost - 10th plant

Annual cost of capital
Other operating costs

T copa |

837  £000pa
437 f0pa
427 £000 p.a.

A8 soopa

A54

NATURAL GAS

Electrical output

No.cfengines 3

[0:] ITERATION

Air oxygen concentration

‘Stiochiometric air-fuel ratio
Airfusl ratio

Ait flow rate

Mixture total flow rate

CHy fuel flow rate

| CHy thermal input

No. of engines

CHy brake thermal efficiency
CHy elctrical output | _
Brake thermal efficiency

Derating

. 0210

1744
2966

3089
Caan

8780

| 40703

345

1N

3034

| 10457



A2.7 Worksheet: Engine Coolant Radiator

ENGINE COOLANT RADIATOR
Air blown, finned tube design
Al quantities wet basis 0.8
Hot water inlet temperature YR B o I
Hot watet outiet temperature &0 A [ |
Water specific heat 4188 kdkgk _ |
Max. hot water flow rate kp/s  Hot water flow rate to meet drying requirements [ 000 | kg/s FlowDel  19.04
A inlet temperature 15 °C Ak outlet temperature & |
AT{sir outlet to water outlet) 10 °C  Armean specific heat : 1005 @ kdkgK
Air flow rate 10 meet drying requirements | 000 | Nm's  Aurflow rate to meet drying requiements 0.0 ks
 Heat transferred 0D KW
A2.8 Worksheet: Engine Coolant Water Heater
[ENGINE COOLANT WATER HEATER -
Shell.and-tube design, hot water production
(All quantities wet basis u.0.s.
Mot water inlet temperature @ '°C
'Hot water outlet temperature | 60 o
Waterspecificheat 4188 = kJkgK — .
Hot water flow rate | 1904 | ko's
:Cold waler inlet temperature ! 8 "~ °C Cold water outlet temperature B |
ATpinen s °Cc
Cold water flow rate ks
'Heat transferred 23917 kW
Overall heat transfer coefficient | 938 WK Log mean temperature difference %0  °C
Counter-flow factor 08 | " Heat transfer area (LMTD) 8084 m
'Equipment cost 178 | £000
Total plant cost - 1st plant 97.1 £000
a Total plant cost - 10th plant 46.3 £000
Annual cost of capital 456 £000 p.a.
Other operating costs: =
Labour 100 £000pa.
Overheads 1.9 £000 p.a.
‘Maintenance iy 19 £000p.a.
= Total

ASS

[137 Jsom0pa.



A2.9 Worksheet: Product Gas Water Heater

[PRODUCT GAS WATER HEATER
Firetube design, hot water production

_ All quantities wet basis u.os.

 Product gas [Ha]
Product gas [CO]
Product gas [CO;)
Product gas [CHy]
Product gas [N;)
Product gas [Hy0]

_ Product gas outlet temperatura

£ '_Pcpductgudryﬁ&mm

‘Water inlet temperature from EC
‘Water inlet temperature from retum
Water outlet temperature

‘Overall heat transfer coefficient
Counter-flow factor

85
50
100

°c
°c
°c

~ Product gas mean temperature
Iﬁrnduct gas flow rate

Actual water inlet temperature
Water inlet enthalpy

Water outlet enthalpy
Water flow rate

‘Heat transferrad

Log mean temperature difference
Heat transfer area (LMTD)

Equipment cost

Total plant cost - 1st plant
Total plant cost - 10th plant
‘Annual cost of capital
Other operating costs.
Labour _

Overheads

Maintenance

Total

AS56

T YT AT w—
Nms |

338 ¢
1698 kWkgkK
1172 kgls
B0 © °C
360 " kikg
4188 kikg |
kg/s
B851.1 kW
161.9 c
116.60 m
239 £000
1186 £000
5.5 | £000 |
56 |£000pa
. 100 fo0pa
23 £000pa |
23  £000pa
£000 p.a.

05

3560

| 13547

-2.768

ITERATIONS



A2.10 Worksheet: Engine Exhaust Gas Water Heater

ENGINE EXHAUST GAS WATER HEATER
Firetube design, hot water production

All quantities wet basis u.0.s.

_:Engina exhaust gas inlet temperature [ 33z »w
Engine exhaust gas flow rate 3B6 | Nmss |

Engine exhaust gas [COy] 0.131  |frac. by vol,  Engine exhaust gas CO; flow rate 0988 ko'
[Engine exhaust gas [Ny 0.658 c.byvol  Engine exhaus! gas N; flow rate 3164 kg/s
Engine exhaust gas [H;0] 0.142  [frac. by vol|  Engine exhaust gas H;O flow rate 0.439 kg/s
[Engine exhaust gas (O] 0.069 c byvol  Engine exhaust gas O; flow rate | 0379 ky's
‘Bumer exhaust gas inlet temg Essa=l = Bumer exhaust gas CO; flow rate 0000 | kg's
Bumer exhaust gas Ny flow rate 0.000 ko/s |
Bumer exhaust gas HyO flow rate 0.000 kg/s ITERATIONS
| Bumer exhaust gas O; flow rate 0.000 kg/s
' | i mEEG | 497
Gas outlet temperature °C | GasCOjflowrate 0988  ky's mBEG 0000
‘Gas N; flow rate | 3164 kg/s m tot 49N
Gas Hy0 flow rate | 0439 kgls [CpEEG | 1.113
Gas O; flow rate 0.379 kg's CpBEG 0000
Gas flow rate L 49n kg/s Cpiot 1.113
Gas inlet temperature 7 € | |GasTemp 3937
Gas mean lemperature | 3509 *
(Gas mean specific heat 1160 kdAgK 05
Water infet temperature from EC 85 °c Actual water inlet temperature T R 85
Water inlet temperature from retum 50 o Water inlet enthalpy W9 " kkg _ 3560
Water outlet temperature 100 c Water outlet enthalpy 4188 kg
' Water flow rate kg/s 7850
5081
Heat transferred <X KW
‘Overall heat transfer coeficient 50 Wim'K | Log mean temperature difference | 268 "
Counter-flow factor 09 | | Heat transfer area (LMTD) 4267 m
Equipment cost 15 £000
Total plant cost - 1st plant 687 £000
Total plant cost - 10th plant £000
Annual cost of capital £000 p.a.
Other operating costs: | I
Labour . 100 £000pa.
Overheads 1.3 fD0pa
Maintenance 1.3 £ pa.
Total [125 Jsoo0pa
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A2.11 Worksheet: Other System Modules

OTHER SYSTEM MODULES
‘Biomass flow rate 0.556 kg/s
Overall power exported 2.70 MW,

RECEPTION, STORAGE, SCREENING

Capital cost |

TPC (with buffer store) - 1st plant 557.3 £000 |
TPC (with buffer store) - 10th plant £000
‘Annual cost of capital 264 £000p.a.
Operating costs ] !
Labour . B00 £000 p.a.
Utilities 420  £000pa.
Overheads 106  £000p.a
Maintenance 10.6 £000 p.a.
Total £000p.a. |
AIR OXYGEN ENRICHMENT PLANT

Gasifier air oxygen concentration 0.60 frac. by vol
Gasifier air flow rate 0.259 Nm'/s
Engine air oxygen concentration 0.210 | frac. by vol
Engine air flow rate 3.069 Nm®/s
Oxygen flow rate from separation unit 0.131 Nm'/s
Electrical power consumption 2119 kW
Lease cost i 737 £000pa.
TPC of additional capital - 1st plant 182.3 £000
TPC of additional capital - 10th plant 6.9 £000 |
Annual cost of additional capital 8.6 £000 p.a. |
Other operating costs !

Utilities (water supply and disposal) | 43 £000 p.a.
Overheads 35 £000 p.a. |
Maintenance | 00 " £000pa.
Tota - F00ps
PRODUCT GAS QUENCH AND

WASTE WATER TREATMENT

Product gas wet flow rate 0.983 Nm?/s
Product gas water content 0.200 _ |frac. by vol
‘Waste water flow rate | D198 ka/s |
Capital cost

Equipment cost 11. I

Easpren e T
TPC - 10th plant 1185 £000
Annual cost of capital : £000 p.a.
‘Operating costs e | [

Utilities (water supply and disposal) 76  f000p.a
Ove ' a
Mairr:::::cn ' g] .
x kg £000 p.a.

Total 80 ] som0pa

GRID CONNECTION

Capitai cost .

TPC - 1st plant 400.0 £000
TPC - 10th plant £000
Annual cost of capital 19.0 £000 p.a. |
Operating costs | |

Overheads 76  £000p.a.
Maintenance 76 £000 p.a. |
Total [35277] foo0pa. |
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A2.12 Worksheet: Results

! I

___CONFIGURATION: _RFSG (=1}, rotary cascade drysr, amhisni aif angine, CHP. ' :
_ Alqutdwsdybassues CURRENY T T T T T T ettt
CASE _ "RESULTS TABLE - R -
T Bromass cosl o plant gate #___ w0 & & & & L 80 & 80
____ Bomass flow rate fo gasdier kg's____ 055 05% _05%__05%__05%__05% _ 05% __05% | _085%
~_ Bromass thermal nput to gaster MW 945 999 999 993 999 9p5 985 985 ___ 985
___ Bromass mosture of dryer nist % db 100__ EY) E) 0 2 0 L) €__ 5
" Bromass mocsture of dryer outlef % db 0 10 10 10 10 2 I A =2
___Ax oxygen concenirabon 1o gasier fac. byvol 06 on 0% 04 0B 0.21 0.28 04 06__
T OK OK oK oK oK oK oK _OK oK
__IMORSYSIEHEI.EIEH‘I'S___—_-__‘-_&% o ol T SRR __h:-_"-“_ e ___— R
_ Recapion, Storage, Screening i o
e ' tom "% T s Toel ms w66 26 %
Al cost of capaal Eompa__ %4 _®A__®A__BA__ XA __B4__24__24___%4_
_Otheroperstngcosts________ f00pa__ 12833 _ B2 @2 B2 B2 a2 15#2 | 53 B2
—_Dryer = = 5 S == e
__ Ebctncal power _ == W U6___ 469 __ 459 ___ 453___a7__ W8 __ 32 ®9I  B5
__DryerTPC £O00 245 - D R, B A 254 22
Drysronnusl costofcaptal €U0 pse__ 244 284 ®/1 29 ;7T w6 254 252 __251
_ Dryer other operating coste _ E00pe 696 728 _T26 __T24 723 705 704 703 702
T Akt Oxygon Earichmant Plant o FROGERERMATIE T DS ShmOmemnmmes Gt e
o EleCcalpower. . oo SN NN 181 270 ME . 183 w2 M7
___TPC (sddtional captal) £00 869 —450___ 630868 _ 450___B31___8BB__
:.md::ﬂdadmwnpm . £00pa___B8B _ —— 46 5%3? ?835, 46 63 88
e & £000pa.__ 737 351 % SRR - ) BENN - S < 4
___ Other opersting costs funps__ 78__ U 2 7 DY ¥ S - X
___ Gosifier_
— o T shciensy HV bein) % ___ 78 853 _8A6___B57 _BS6 ___B37 632 _B4d___842_
= T T 1, To12T T 2412242 24127 2412 2412 2412 _ 2412
- an. cont of capital £000pa__ 2402 T 2027 72402 2402 2402 24022402 2402 2402
opersting costs £000ps__ 375 W5 WS 3535 35 37WS | 3wWS5_ . 3WS
___ 638 Quench & Wasts Water  Trostment _
= _— TTEwi___ 19 19 19 "9 191919 __ 1919
ﬂ__g::ll cost d:::;ll fI0pa, 18 18 18 18 18 18 18 18 18__
— "P"“""I t £00pa 90 5250 48 47 62 B0 8B 57
"5'.‘.',.": :::::c:_mpd MW 309 33333 340 341 326 326 33 335
—1rc i % __ W7 . Y e | e, \ SR T aite R ki
T Annusi cost of capal £000__10a3 1185___ 1138 1108 1079 1187 1141 Y112 ey
e privas £0pa__ 109 118 W 07 - M8 AW AT e
= o £000pa " 171 Bt 178 . 476 7481 __ 77 " 76 _T_ 4]
owe © T T T e aom e S - s %

__ECWHTPC tooo__ 4 ; TR =
__ ECWH annusl cost of capial _ . EDOpW ‘2 - - 5 - 5 o g
EoWM o R e KPR, 4 48 48 48 48 48 47 47 47

=l other operating costs, E00pas. 137 7139 T as T i3e T3l 138 138 138 138
___ PGWH hot water production kg/s 13 T g
FEMITRE e S M3B__113%_ 165177 1181 118 1212 1220
__ PGWH sonuel cont of copitel_~ " " gm0 pa " ap w8 S R R 8% o =
POWH othas —— i L - ] pais Y el T n e T e T | I % 52
— EEGWH Fal waler " PR W5 145 43142140 V61444341
SRV TP PG esmmsinsicn :3:’('1 = 4;3'3______ _BS_ 8% B¥_ B2 _ 85 __ 840 841 83 _
T EEGWMswusl ot olcaptal  EDDpa 33 — 8 2 _.R =
= EECWM{abwcpumngrons.  _ _ fpa 126 P8 18 17 A7 W3l w2 w2 1'?
___Total hot water product kg/s Tqray T — - s - = - 1
L 1992 19747 "20m” 2003 0372021 08 2054
. TPC = smmessastetz ROO0 T 198 T 153 149 147 e 18 155 153 151
" Amuslcostofcaptsl T EM0ps 135 TL1527 T8 w144 158 T 185 153 s
~ Other costs f00pa W08 T T " T2 L 153 . 180,
___ Other cperaiing )= 28T Tae Tme 27 247 23 a2
" Grid Connaction ’
::‘PC_.—- e £000 191 s 206 .- Jh R _m"" 15!3__1 | 199
Anwsiconofcapdal______ £000pa__ 190 . ST T 99 0 T T 03T 199 T T T e
__ Other opsrating conts e 165169 1607 "161 163 160 159 160
" WHOLE SYSTEM 7 oA
___ Net electncal output MW 270 312 TS0 T3er 800 305 38297 28
T Hawswpotcton kg UBE T TTTNOLT IO 000 200 0¥ 202 205 205
Hot water production MW v 47 413413 a4 u4x 423 40 ___ 42
T Overall sisctncal ficiency D, %2 BI 702w aws ®5__ %225
* ~ Oweral combmed eficiency Ty 825 656 B42 644" 647 653 646 649 652
Total plart cost £ L] a3 s s 5 4502 93 MTE M6
—_Total piart cost “TEAW 6% 60 62 BB 64 B15 _ B% 64 B
= cont fW0ps__ 1340 B0 VR0 130 100 130 130 130 1320
T Annusl cost of copital E%pi $_. ;?; ;ﬁ____;:_, ;‘;‘ o I S T T
" Other operating costs g s TS 812 629 80
s o
—__ Revenwe from heat saies f00pae_ R 14 325" T3m 39
Totel ssies revenve i JEOps 90 M7 ies 1089 w0s7 17 10es Twe2 ey
T Cost of shacincity (CHP) ¥ eAWh___ 0128 0102010870109 0.109 0404 0108 0 115041



A2.13 Worksheet Data Flows

Table A2.1 Data flows - Inputs sub-model

Sub-model: Inputs

IN FROM | OUT TO
DCp, mp, Xp3 X3e [O2lu9 User DCy Results
LF,d,,F,N,EP mg RSS, RD, RDB, BD, RFSG, UGETC
RD, RDB, BD, Results
Xp2 RD, RDB, BD, RFSG, UGETC, Results
X4 AQEP, RFSG, Results
[O:1u9 RSS, RD, RDB, BD, AOEP, RFSG, Results
LR, AF | UGETC, PGWH, PGQ, ICE, ECWH, EEGWH, GC

F RFSG
EP Results

Table A2.2 Data flows - Results sub-model

Sub-model: Results

IN FROM ouT TO
DCp, mp, X2 Xp4 [O2)us, EP Inputs DCj, mg, X2, Xz, [02lus, TPC, User
TPC,;, ACC;, 00C; RSS ACC,, 00C,, P, TPC3, ACC;,
P;, TPC;, ACC;, 00C; RD, RDB, BD 00C;3, Py, TPC,, ACC;, LGy,
P,, TPC,;, ACC,;, LC;, O0OC, AEOQOP 00C;, 119, TPC}9, ACC1g, 00Cio,
n10, TPC10, ACCjo, OOCyo RFSG, UGETC Mpys, TPCy5, ACCy5, OOC;3, TPC,
mw)s, Twigy TPCis, ACCys, 00C)s | PGWH ACCy, OOCsp, P33, 122, TPC:s,
TPCy, ACCz0, 00Cy | PGQ ACC;;, 00Cy;, TPCj4, ACCyg,
P33, 123, TPCy3, ACC2;, 00C3; ICE . O0C3s, mys1, TPCyy, ACCy,
Tywar, TPCjs, ACCps, OOCys ECWH 00C;,, TPC34, ACCy4, 00Csyy, Py,
myz1, TPC3;, ACCyy, OOCs; EEGWH mss, Oss, N35, TPCss, ACB, ACCsyg,
TPC;,, ACC;,, OOC3, GC OCCss, ARg, ARy, ARy, AP, COE

A60




Table A2.3 Data flows - Reception, Storage, Screening sub-model

Sub-model: Reception, Storage, Screening (RSS)

IN

FROM

ouT

TO

M&LR,AF

Inputs

TPC;, ACC;, O0C,

Results

Table A2.4 Data flows - Rotary Dryer without Burner sub-model

Sub-model: Rotary Dryer without Burner (RD)

IN FROM ouT TO
mpg, Xp2, Xpe, LR, AF Inputs Te EEGWH
mas6, Tg23, [CO3,N2,H:0,0;]623 ICE P;, TPC;, ACC;, 00C; Results
Table A2.5 Data flows - Rotary Dryer with Burner sub-model
Sub-model: Rotary Dryer with Burner (RDB)
IN FROM ouT TO
mp, X2, Xae, LR, AF Inputs Tes, mgs, Tes, [CO2No,H;0,0;]c6 EEGWH
mg23, Te23, [CO2N2H20,0;] 623 ICE P;, TPC;, ACC;, 00C; Results
mgsz Tesn [CORNLHZ0,02) 632 EEGWH
Qss Results
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Table A2.6 Data flows - Band Dryer sub-model

Sub-model: Band Dryer (BD)

IN FROM ouT TO
mg, Xg}, Xg;. LR,AF Inputs my2 ECR
Ts ECR P, IPC_{,ACCJ, 00C; Results
Table A2.7 Data flows - Air Oxygen Enrichment Plant sub-model
Sub-model: Air Oxygen Enrichment Plant (AOEP)
IN FROM ouT TO
My RFSG, UGETC P;, TPC,;, ACC;, LC;, 00C, Results
[O:lus, LR, AF Inputs
Maz1, [Ozlazs ICE
Table A2.8 Data flows - Reverse Flow Slagging Gasifier sub-model
Sub-model: Reverse Flow Slagging Gasifier (RFSG)
IN FROM ouT TO
mg, Xps, [0:) 49, LR, AF, F Inputs Myo AQEP
mGi1, [H;0]61; PGWH, PGQ, ICE
[H>,C0O,C0,,CH . N;)61s PGWH, ICE
Ten PGWH
10, TPCyo, ACCj9, 00C;)y Results

A62




Table A2.9 Data flows - Updraft Gasifier with External Tar Cracking sub-model

Sub-model: Updraft Gasifier with External Tar Cracking (UGETC)

IN FROM ouT TO
mg, Xas, LR, AF Inputs myg AOEP
man, [H:O)en PGWH, PGQ, ICE
[H,,CO,CO,,CHNalen PGWH, ICE
Ten PGWH
110, TPCyo ACCio, OOCio Results

Table A2.10 Data flows - Product Gas Water Heater sub-model

Sub-model: Product Gas Water Heater (PGWH)

IN FROM ouT TO
LR, AF Inputs mws EEGWH
maiy Te, [H3,C0O,C05,CH  N2,H;0) 11 RFSG, UGETC muns, Twigs TPCjs, Results
Mu28, Tz, Thae ECWH ACCys, 00Cys
Table A2.11 Data flows - Product Gas Quench sub-model
Sub-model: Product Gas Quench (PGQ)
IN FROM ouT TO
LR, AF Inputs TPCp, ACCyp, OOCs, Results
mG”’ [H:O]G” R.FSG, UGET‘C
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Table A2.12 Data flows - IC Engine sub-model

Sub-model: IC Engine (ICE)

IN FROM ouT TO
LR, AF Inputs m236, Tg23, [CO2N2,H;0,05)623 | RD, RDB,
mgi [If),CO.CO).GL—NﬂGH RFSG, UGETC EEGWH
m 21, [O2lan AQEP
mec2z ECR, ECWH
Pg_;, 22, TPC;;, ACC;), OOCH Results
Table A2.13 Data flows - Engine Coolant Radiator sub-model
Sub-model: Engine Coolant Radiator (ECR)
IN FROM ouT TO
Me22 ICE T A26 BD
Table A2.14 Data flows - Engine Coolant Water Heater sub-model
Sub-model: Engine Coolant Water Heater (ECWH)
IN FROM ouT TO
LR, AF Inputs muw2s, Twzar, Twao PGWH, ECWH
men ICE Tz, TPCys, ACCyg, OOCis Results
mes ECR
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Table A2.15 Data flows - Engine Exhaust Gas Water Heater sub-model

Sub-model: Engine Exhaust Gas Water Heater (EEGWH)

IN FROM ouT TO
LR, AF Inputs mesz, Tesz, [CO;,N2,H,0,05] 632 RDB
mga3, T3, [COLN2,H0,0;]623 ICE myz3;, TPC3,, ACC;, O0Cy) Results
T, MGs» Taer [COLN,H20,0;)66 RDB
T2 RD
M2, Twaz, Tozo ECWH
Muys PGWH
Table A2.16 Data flows - Grid Connection sub-model
Sub-model: Grid Connection (GC)
IN FROM ouT TO
LR: AF Il'-'lp‘l.ltS TP C_y, A CC_“, OOC;; Results
P33 Results
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