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Abstract

The application of the SAFT-γ Mie group contribution approach [Papaioannou et al., J. Chem. Phys., 140

(2014) 054107] to the study of a range of systems of relevance to the oil and gas industry is presented. In

particular we consider carbon dioxide, water, methanol, aromatics, alkanes and their mixtures. Following

a brief overview of the SAFT-γ Mie equation of state, a systematic methodology for the development of

like and unlike group parameters relevant to the systems of interest is presented. The determination of

group-group interactions entails a sequence of steps including: the selection of representative components

and mixtures (in this instance carbon dioxide, water, methanol, aromatics and alkanes); the definition of an

appropriate set of groups to describe them; the collection of target experimental data used to estimate the

group-group interactions; the determination of the group-group interaction parameters; and the assessment

of the adequacy of the parameters and theoretical approach. The predictive capability of the SAFT-γ Mie

group contribution approach is illustrated for a selection of mixtures, including representative examples

of the simultaneous description of vapour-liquid and liquid-liquid equilibria, the densities of the coexisting

phases, second derivative thermodynamic properties, and excess properties of mixing. Good quantitative

agreement between the predictions and experimental data is achieved, even in the case of challenging mix-

tures comprising carbon dioxide and water, n-alkanes and water, and methanol and methane.

Keywords: SAFT-VR, SAFT, group contribution methods, oil and gas, fluid-phase behaviour

1. Introduction

Thermodynamic methodologies are applied extensively in broad sectors of the chemical industry, along-

side experimental validation, for the prediction of property of highly complex fluids and fluid mixtures. A

plethora of models are available, and numerous reviews have been published on the industrial requirements
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for the development of high-fidelity methodologies that can be used for the accurate prediction of properties

of an ever-increasing range of substances, relevant to the oil and gas, chemical and pharmaceutical indus-

tries.The oil and gas sector in particular has long been a driver for the development of classes of equations

of state applicable to real systems, such as the Peng-Robinson equation (PR) [1], the Soave-Redlich-Kwong

equation (SRK) [2], the cubic-plus-association equation (CPA) [3], and the statistical associating fluid the-

ory (SAFT) [4, 5]. In recent years, there has been increasing focus on predictive equations of state, such as

the predictive PR2SRK [6], predictive Peng-Robinson PPR78 [7], and SAFT methods incorporating group-

contribution concepts [8–13] with a view to deliver accurate predictions of properties for an ever-increasing

range of systems.

Thermodynamic models are routinely employed in the design and optimization of separation and produc-

tion processes, where the accuracy of the model can greatly impact the design of the process [14, 15]. The

systems typically encountered in the context of the oil and gas industry include mixtures of water, carbon

dioxide, hydrocarbons comprising aliphatic and aromatic components, and in some cases alcohols used as

hydrate inhibitors [16]. These systems are highly non-ideal and the accurate modelling of their fluid-phase

behaviour, which can include vapour-liquid and liquid-liquid equilibria, is a challenging task.

Crude oil can contain thousands of different components, not all of which can be considered specifically,

and the capability of thermodynamic models to treat multicomponent mixtures predictively is an impor-

tant consideration in model development in this context. As a result, the suitability of a thermodynamic

methodology is judged in part based on its success in predicting the fluid-phase behaviour of multicomponent

mixtures based on a limited set of binary interaction parameters. Another consideration is the modelling of

the fluid-phase behaviour and properties of mixtures in the vicinity of the critical region, especially in sys-

tems comprising carbon dioxide, that has a critical point at near-ambient temperature (Tcrit,CO2 = 304.13 K,

Pcrit,CO2 = 7.372 MPa [17]). While considerable effort has been devoted to the prediction of the fluid-phase

behaviour of binary and multi-component mixtures, several aspects of the application of thermodynamic

models to the oil and gas industry warrant more attention. As summarized by Kontogeorgis and Folas [18]

in their excellent book, these include the prediction of caloric properties (i.e., heats of mixing and heat

capacities) over a range of thermodynamic conditions and the prediction of a variety of properties that are

important for fluid-flow calculations from equations of state (e.g., densities, speed of sound, etc.).

A single thermodynamic modelling framework would ideally provide an accurate description of all of the

relevant properties for the systems of interest in the oil and gas sector over a broad range of conditions. In

current industrial practice, however, cubic equations of state (EoSs) such as the Redlich-Kwong (RK) [19],

the SRK [2], or the PR [1] equations are often used for the study of non-aqueous mixtures (e.g., mixtures of

carbon dioxide and hydrocarbons) while more sophisticated approaches that explicitly account for association

(e.g., variants of the statistical associating fluid theory (SAFT) [4, 5, 20, 21], or the cubic-plus-association

(CPA) EoS [3]) are applied for the study of more complex mixtures, including aqueous solutions, and
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mixtures containing methanol and/or other alcohols.

The application of thermodynamic methodologies to the modelling of systems of relevance to the oil and

gas industry has been the subject of numerous studies. The performance of the most popular modifications

of the van der Waals EoS, the RK [19], SRK [2], and PR [1] variants, in the description of the phase behaviour

and volumetric properties of mixtures of carbon dioxide with alkanes has been extensively studied [22, 23].

While these methods can provide a very good description of the compositions and pressure of the fluid-phase

equilibria of binary and multicomponent mixtures of hydrocarbons, carbon dioxide, and other gases, the

volumetric properties of these systems are not described as accurately; this can be addressed to some extent

by employing volume-translation methods [24]. Moreover, in order to achieve an accurate representations

of the properties of multi-component mixtures, a considerable amount of experimental data is required for

the determination of the binary interaction parameters between each of the binary pairs of components in a

given mixture. In an effort to overcome the reliance on experimental data, and with the aim of developing

more predictive approaches, extensions of the classical cubic equations of state have been developed. The

predictive Peng-Robinson (PPR78) [7] and the PR2SRK [6] EoSs are, perhaps, the best known. In these

approaches the unlike intermolecular binary interaction parameters are determined based on the different

chemical groups the molecules comprise. The PPR78 EoS has been applied to describe the fluid-phase

behaviour of mixtures of carbon dioxide and alkanes [25], as well as of aqueous solutions of hydrocarbons

and carbon dioxide [26], where the capability of the EOSs was demonstrated in the description of the fluid-

phase behaviour and excess enthalpies of mixing (using temperature-dependent interaction parameters).

These studies did not include the prediction of the excess volume of mixing and other thermodynamic

properties that relate to the compressibility of fluids, such as the isothermal compressibility or the speed of

sound [27].

When the focus is the description of the fluid-phase behaviour of systems of components which hy-

drogen bond or are strongly polar, more sophisticated methods, such as the statistical associating fluid

theory SAFT [4, 5] or the cubic-plus-association (CPA) EoS [3] are recommended. These thermodynamic

approaches are particularly suited for the description of fluid-phase behaviour in associating systems, as

they account explicitly for the presence of directional interactions. Numerous examples have been reported

demonstrating the capability of several variants of the SAFT and CPA EoSs to describe accurately the highly

non-ideal phase behaviour characteristic of associating systems such as aqueous solutions of hydrocarbons,

or mixtures of methanol with hydrocarbons [28–35]. In general, both approaches require pure-component

parameters specific to each species and appropriate binary interaction parameters need to be determined

for the characterization of mixtures. This laborious process can be alleviated to some extent with the use of

parameters for homologous series [36, 37] rather than single components, together with the use of predictive

methods to estimate the binary interactions [38, 39]. In the case of SAFT-variants reformulations within

the context of group contribution (GC) approaches [8–13] have been gained prominence in more recent
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years with the aim to combine the accuracy of these sophisticated thermodynamic approaches with the

predictive capabilities inherent to the GC concept. Some of these methodologies can be used to describe the

properties of pure components as well as mixtures within the same group-contribution framework, whereas

other employ the group contribution concept to predict only binary interaction parameters between unlike

molecules [6, 7, 40]. Of particular note is also the group-contribution with association (GCA) EoS [41], which

has been applied to the study of the fluid-phase behaviour of a number of associating systems, including

aqueous solutions of hydrocarbons [42]. In GC-based theories, the molecular properties that describe a given

compound are obtained, in accordance with the group-contribution principle, by appropriate summation of

the contributions of the chemical moieties that characterize the compound of interest, and binary interactions

are determined based on the corresponding functional groups. The parameters that describe the like and

unlike group interactions are estimated by regression to an extensive set of experimental data for common

compounds, and once determined, are used to predict the thermodynamic properties of compounds for which

limited or no experimental data are available. These sophisticated thermodynamic methods can be used to

describe accurately the fluid-phase behaviour of a wide-range of challenging systems, but the prediction of

thermodynamic derivative properties is not always accurate [43], even for simple hydrocarbons. To achieve

a more accurate representation, it has been found that the specific form of the molecular interactions, as

captured by the intermolecular potential, is paramount, and that the Mie (generalized Lennard-Jonesium)

potential can be used to provide an much improved model [44, 45]. The recent development of a third-

order perturbation expansion for the Mie potential within the SAFT-VR Mie EoS [43] provides an accurate

simultaneous representation of the fluid-phase behaviour and the second-order thermodynamic derivative

properties for a variety of systems [43–47]. The perturbation theory has now been reformulated as a group-

contribution equation equation of state (SAFT-γ Mie [13]) and shows promise as a generic tool for the

prediction of thermodynamic properties of a wide variety of systems based on group parameters [48]. The

aim of our current work is the development of models for components of special interest to the oil and gas

industry within the framework of the SAFT-γ Mie EoS. We consider mixtures containing water, carbon

dioxide, methanol, aromatics and alkanes.

A brief outline of the SAFT-γ Mie group contribution approach is presented next, highlighting the key

features of the theory and the underlying molecular model, followed by a discussion of the systems of interest

within the context of our current work, and an overview of the methodology adopted to estimate the group

parameters for these systems. The performance of the theory in the description of the thermodynamic

properties of selected mixtures is illustrated for a variety of property calculations and predictions and

comparisons are made with other benchmark thermodynamic approaches.
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Figure 1: Pictorial representation of the heterosegment molecular model employed within the SAFT-γ Mie group

contribution approach. The example shown corresponds to n-propylbenzene, where the methyl (CH3), methanediyl

(CH2), aromatic methine (aCH), and aCCH2 chemical functional groups are highlighted in blue, red, green, and

purple respectively.

2. Methodology

2.1. SAFT-γ Mie models and theory

In the SAFT-γ Mie [13] EoS a model of heteronuclear chains is employed where different fused spherical

segments are used to represent the distinct chemical moieties of a given molecule. An example of the het-

erosegment molecular model employed within the theory is shown in Figure 1 for the case of n-propylbenzene,

where the constituent methyl (CH3), methanediyl (CH2), aromatic methine (aCH), and aCCH2 chemical

functional groups that characterize the molecule are highlighted.

Each compound i is defined by a set of values νi,k that denote the number of functional groups of type k

in the compound. A given group k is characterized by one or more identical segments, ν∗k and a shape factor

Sk which determines the extent to which each segment contributes to the overall molecular properties. The

Mie [49] pair potential model employed for the description of segment-segment interactions is a generalized

form of the Lennard-Jones potential [50–54], with variable attractive and repulsive ranges. In the case of

interactions between segments of the same group-type k, the Mie potential is written as

ΦMie
kk (rkk) = Ckkεkk

[(
σkk

rkk

)λr
kk

−
(
σkk

rkk

)λa
kk

]
, (1)

where rkk is the centre-centre distance between the segments, σkk is the diameter of the segments, εkk is the

depth of the potential, and Ckk is a constant, function of the repulsive (λr
kk) and attractive (λa

kk) exponents

of the potential defined as

Ckk =
λr
kk

λr
kk − λa

kk

(
λr
kk

λa
kk

) λa
kk

λr
kk

−λa
kk

, (2)

which ensures that the minimum of the potential is at εkk.
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The group interactions are thus characterized by the diameter of each segment σkk, the potential well-

depth εkk, and the repulsive and attractive ranges of the interaction potential λr
kk and λa

kk, respectively.

Association between groupd where appropriate is treated by the addition of square-well short-ranged bonding

sites on the group segments, as commonly employed within SAFT-type approaches. Together with the

number of different site types characterizing the association of a group NST,k, and the number of sites of

a given a type nk,a which are typically chosen a priori, the energy εHB
kk,ab of the association interaction

between sites of types a and b , and the corresponding bonding volume Kkk,ab which describes the geometric

component of this association interaction are required for the complete description of associating interactions.

The interaction between unlike groups k and l is characterized by an unlike segment diameter σkl defined

as

σkl =
σkk + σll

2
, (3)

the unlike Barker-Henderson effective hard-sphere diameter as

dkl =
dkk + dll

2
, (4)

the unlike dispersion energy (obtained using a modified geometric mean that takes into account the size

asymmetry of the groups as [39])

εkl =

√
σ3
kkσ

3
ll

σ3
kl

√
εkkεll , (5)

and the unlike repulsive and attractive exponents of the Mie potentials as

λkl = 3 +
√
(λkk − 3)(λll − 3) . (6)

These combing rules are determined from a geometric mean of the van der Waals integrated energy of the

respective Sutherland potentials [13, 43]. The unlike association parameters are defined as

εHB
kl,ab =

√
εHB
kk,aaε

HB
ll,bb , (7)

and

Kkl,ab =

(
3
√
Kkk,aa + 3

√
Kll,bb

2

)3

. (8)

The values obtained through these combining rules are often refined by regression to experimental data

to capture more accurately the physics features of the specific interactions. In our current work, as in

other works with the SAFT-γ Mie EoS, the unlike segment and hard-sphere diameters as well as the unlike

attractive exponent are always given by equations (3), (4), and (6).

Once the models for the chemical functional groups characterizing the system have been established, the

Helmholtz free energy can be determined following the expressions presented in previous work [13, 48], with

the association contribution detailed in Ref. [46]. Other thermodynamic properties can be obtained from

the free energy from the standard thermodynamic relations.
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Table 1: Summary of the SAFT-γ Mie functional groups and unlike interactions required for the modelling of the

mixtures of interest in our current work. The stars indicate the like and unlike parameters required for the modelling

of the systems of interest developed here, while the literature references indicate interactions developed previously [13,

46, 48].

CH3

CH3 [13] CH2

CH2 [13] [13] aCH

aCH H H H aCCH3

aCCH3 - - H H aCCH2

aCCH2 H H H - H CH4

CH4 - - - - - H H2O

H2O H H - - - H [46] CH3OH

CH3OH H H - - - H H H CO2

CO2 H H - - - H H H H

2.2. Systems of interest and definition of groups

The aim of the work presented in our current study is to investigate the suitability of the SAFT-

γ Mie GC approach to model mixtures of components of relevance to the oil and gas industry. These

include mixtures of carbon dioxide, water, methanol, methane, linear alkanes (ethane to n-decane), and

aromatic hydrocarbons (benzene, toluene, and alkylbenzenes). Of the compounds listed, carbon dioxide,

water, methanol, and methane are modelled as molecular groups, e.g., the CO2 group for carbon dioxide,

the CH3OH group for methanol, etc. For the linear alkanes the parameters readily available for the methyl

(CH3) and methanediyl (CH2) groups from previous work [13, 48] are employed. The aromatic hydrocarbons

are modelled by developing new aCH, aCCH2, and aCCH3 functional groups in our current work. Benzene is

modelled with six equivalent aCH groups, toluene as 5×aCH and 1×aCCH3 groups, and the n-alkylbenzenes

as 5×aCH, 1×aCCH2 and the appropriate number of CH3 and CH2 groups of the alkyl chain. The functional

groups that are required to fully characterize the mixtures of interest are summarized in Table 1, where

the functional groups and the unlike interactions considered are highlighted. (As shown in Table 1, not all

unlike interactions between the listed functional groups are required for the characterization of the mixtures

of interest.) The values of some of the parameters have already been collected in an earlier paper [48]; here

we provide details of the parameter-estimation procedure and performance of the models.

2.3. Parameter estimation

Within the framework of the SAFT-γ Mie GC approach all functional groups k (molecular or not) are

characterized by the following set of parameters: the number of spherical segments ν∗k , the shape factor Sk,
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the segment diameter σkk, the dispersive energy εkk, and the repulsive and attractive ranges of the potential

λr
kk and λa

kk, respectively. For associating groups, such as the H2O and CH3OH molecules considered here,

additional parameters are required, namely, the energy εHB
kkab and extentKkkab of the association interactions,

the number of sites nk,a of each type a for each group, together with the total number of site types NST,k. In

practice ν∗k , NST,k, and nk,a are assigned fixed values based on the chemical nature of each group or, in some

cases, with a trial-and-error approach. Of the parameters that describe the unlike dispersion interactions

between functional groups, only the unlike dispersion energy εkl, and in some cases the value of the unlike

repulsive exponent λr
kl, are adjusted to reproduce the experimental pure component and mixture data more

accurately. For the description of associating interactions between different functional groups the value of the

unlike energy of association εHB
klab, and extent of association Kklab are also treated as adjustable parameters.

All other unlike interaction parameters are determined by means of appropriate combining rules as discussed

in section 2.1 and in Refs.[13, 46, 48].

Either pure component data or mixture data are employed in the characterization of group parameters.

In the case of molecular groups, such as H2O, CO2, CH4, and CH3OH, the model parameters are estimated

from the pure-component vapour-liquid equilibrium (VLE) data for each substance. Vapour-pressure Pvap,

and saturated-liquid density ρsat data are typically employed. Additional experimental single-phase liquid

densities, or even second-order thermodynamic derivative properties, such as the speed of sound or heat

capacities, can sometimes be useful in order to improve the physical significance of the molecular parameters;

single-phase data are not used in our current work. The objective function used in the estimation of molecular

group parameters is of the following form:

min
Ω

fobj = wP

NPvap∑
m=1

[
P exp
vap (Tm)− P calc

vap (Tm;Ω)

P exp
vap (Tm)

]2

+ wρ

Nρsat∑
n=1

[
ρexpsat (Tn)− ρcalcsat (Tn;Ω)

ρexpsat (Tn)

]2
,

(9)

where Ω represents the vector of estimated parameters, and wP and wρ are weighting factors that can be

adjusted according to desired level of accuracy for each property; in our current work equal weights wP =

wρ = 1 are employed. The summations in equation (9) are over the number of experimental points NPvap

for the vapour pressure, and Nρsat for the saturated-liquid density considered in the parameter estimation.

The minimizations are performed using the numerical solvers provided by the commercial software package

gPROMS c⃝ [55].

In the case of other (non-molecular) groups the determination of the parameters describing the groups

of interest is carried out using experimental data for several molecules comprising the corresponding groups,

such as benzene and the n-alkylbenzenes for the determination of the aCH and aCCH2 group parameters. In

order to enhance the physical significance of the parameters obtained, mixture data (fluid-phase equilibria
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or excess properties of mixing) can also be included in the estimation procedure; in our current work some

excess enthalpy and volumetric data are included, leading to the following objective function:

min
Ω

fobj = wP

NC∑
i=1

NPvap∑
m=1

[
P exp
vap,i(Tm)− P calc

vap,i(Tm;Ω)

P exp
vap,i(Tm)

]2

+ wρ

NC∑
i=1

Nρsat∑
n=1

[
ρexpsat,i(Tn)− ρcalcsat,i(Tn;Ω)

ρexpsat,i(Tn)

]2

+ wh

NhE∑
j=1

[
hE,exp(Tj ;Pj ;xj)− hE,calc(Tj ;Pj ;xj ;Ω)

hE,exp(Tj ;Pj ;xj)

]2

+ wv

NvE∑
j=1

[
vE,exp(Tj ;Pj ;xj)− vE,calc(Tj ;Pj ;xj ;Ω)

vE,exp(Tj ;Pj ;xj)

]2
,

(10)

where the first two sums are over the NC pure components i included in the estimation, while the last two

terms run over the number NhE of experimental excess enthalpy points, and NvE of excess volume data

points considered; in addition the weights are taken as equal with wP = wρ = wh = wv = 1. The n-

alkylbenzenes also comprise the CH3 and CH2 groups, which have been characterized in previous work [13];

the estimation group-group parameters using these data provides additional values for the unlike interactions

between the aCH-CH3 , aCH-CH2, aCCH2-CH3 and aCCH2-CH2 groups. This is a unique characteristic of

heterosegment SAFT approaches that greatly enhances their predictive capability, as has been demonstrated

for the case of the n-alkanes with the SAFT-γ Mie GC approach [13, 48], as well as with other approaches [9–

11, 56, 57]. Our new parameters hence enables the description of mixtures of benzene, n-alkylbenzenes and

alkanes without further parameter estimation.

In the case of mixtures involving molecular groups experimental binary mixture data needs to be con-

sisdered to estimate the unlike interaction parameters. Here we use fluid-phase equilibrium data and the

corresponding objective function is given by

min
Ω

fobj =
wx

Nx

Nx∑
m=1

[
xexp(Tm, Pm)− xcalc(Tm, Pm;Ω)

]2
+

wy

Ny

Ny∑
n=1

[
yexp(Tn, Pn)− ycalc(Tn, Pn;Ω)

]2
,

(11)

and expresses the sum of the square of the residuals between the experimental (exp) and calculated (calc)

values of the liquid x(T, P ) and vapour y(T, P ) compositions of a given mixture at specified values of the

pressure and temperature over all experimental points (Nx for the liquid and Ny for the vapour phase).

The desired level of accuracy in each of the phases can be tuned by adjusting the weighting factors for the

liquid wx or the vapour wy phases. As the objective function of equation (11) is expressed in terms of mole

fractions, which are constrained to be between zero and one, the use of an absolute error is considered more

appropriate. In our work the calculation of the fluid-phase behaviour is undertaken by means of a reliable
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P -T algorithm [58] and a multi-start gradient-based algorithm is used for parameter estimation.

The metric used in our work to quantify the quality of the theoretical description of the experimental

data in the case of pure compounds is the percentage average absolute deviation (%AAD), defined for a

given property R as

%AAD R =
1

NR

NR∑
i=1

∣∣∣∣Rexp.
i −Rcalc.

i

Rexp.
i

∣∣∣∣× 100 , (12)

where NR is the number of data points of property R, and Rcalc.
i and Rexp.

i are the calculated and experi-

mental values for the same property, respectively, at the conditions of the ith experimental point. For the

case of binary mixtures absolute errors in composition are reported, defined as

∆z =
1

Nz

Nz∑
i=1

∣∣zexp.i − zcalc.i

∣∣× 100 , (13)

where Nz is the number of data points, and zcalc.i and zexp.i are the calculated and experimental values for

the composition, respectively, at the conditions of the ith experimental point.

All SAFT-γ Mie group parameters used in our current work are reported in Tables 2 to 4. Some of these

parameters have been reported previously [13, 46, 48] and this is indicated in the tables. In addition, further

details related to the development of the parameters that was not provided in earlier work is now given for

completeness together with the description of the development of new parameters carried out in our current

work.

3. Results and discussion

We consider now the characterization of each of the SAFT-γ Mie group-group interactions needed to

treat the fluids of interest. We present first the development of the proposed group parameters from pure

component data and their adequacy, followed by the study of binary mixtures and the estimation of unlike

interaction parameters; the predictive capability of the SAFT-γ Mie GC approach in describing ternary

mixtures is then investigated.

3.1. Pure components

The parameters characterising the molecular groups of methane (CH4), carbon dioxide (CO2), water

(H2O), and methanol (CH3OH), and the functional groups for the modelling of the family of n-alkylbenzenes

(aCH and aCCH2) and toluene (aCCH3), are developed based on pure-component vapour-liquid equilibrium

(VLE) experimental data only (i.e., no single-phase data are used). The temperature range of the data

included in the estimation of group parameters is from 30 to 90% of the experimental critical temperature

for each compound.
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Table 2: Like group parameters for use within the SAFT-γ Mie group-contribution approach: ν∗
k , Sk, and σkk are the

number of segments constituting group k, the shape factor, and the segment diameter of group k, respectively; λr
kk

and λa
kk are the repulsive and attractive exponents, and εkk is the dispersion energy of the Mie potential characterizing

the interaction between two k groups and kB is the Boltzmann constant; NST,k represents the number of association

site types on group k, with nk,H and nk,e denoting the number of association sites of type H and e respectively.

k Group k ν∗
k Sk λr

kk λa
kk σkk / Å (εkk/kB) / K NST,k nk,H nk,e Ref.

1 CH3 1 0.57255 15.050 6.0000 4.0773 256.77 – – – [13]

2 CH2 1 0.22932 19.871 6.0000 4.8801 473.39 – – – [13]

3 aCH 1 0.32184 14.756 6.0000 4.0578 371.53 – – – [48]

4 aCCH3 1 0.31655 23.627 6.0000 5.4874 651.41 – – – current work

5 aCCH2 1 0.20859 8.5433 6.0000 5.2648 591.56 – – – [48]

6 CH4 1 1.00000 12.504 6.0000 3.7370 152.58 – – – current work

7 H2O 1 1.00000 17.020 6.0000 3.0063 266.68 2 2 2 [46]

8 CH3OH 2 0.83517 19.235 6.0000 3.2462 307.69 2 1 2 [48]

9 CO2 2 0.84680 26.408 5.0550 3.0500 207.89 1 1 0 current work

Methane is modelled by means of the molecular group CH4, consisting of a single spherical segment (i.e.,

with the shape factor fixed to one) and the attractive Mie potential exponent fixed to the London value of 6.

The remaining parameters are estimated using pure methane vapour pressure and saturated-liquid density

data [59]. The resulting model provides a very good description of the VLE of methane, as illustrated in

Figure 2.

Carbon dioxide is modelled by means of the molecular group CO2, formed from two fused Mie segments.

An unlike induced association-site of type H is also included in order to model the phase behaviour of

carbon dioxide + water mixtures, c.f. section 3.2; this site is inactive in the absence of water [60], i.e.,

εHB
CO2CO2,HH = 0. This type of association scheme for aqueous mixtures of CO2 has been proposed previously

and employed in other work [61–63]). The CO2-CO2 interaction group parameters are estimated using pure

carbon dioxide vapour pressure and saturated-liquid density data [59]. The description of the VLE of pure

carbon dioxide obtained with the estimated parameters is excellent, as can be seen from Figure 2. As has been

shown in previous work [13, 46, 48, 60], one of the strengths of the SAFT-γ Mie (and the underlying SAFT-

VR Mie [43]) approach is the accuracy of the predictions of single-phase and second-derivative properties

(density, heat capacity, speed of sound) from parameters estimated using VLE data. The SAFT-γ Mie

predictions for single-phase density and isobaric heat capacity of carbon dioxide are provided in Figure 3

and compared to corresponding experimental data; the excellent agreement of the predictions with the

measured data is apparent.

The H2O molecular group used to model water comprises a single Mie segment with four association

11



Table 3: Group dispersion interaction energies εkl and repulsive exponent λr
kl for use within the SAFT-γ Mie group-

contribution approach. In all cases the unlike group diameters σkl and dkl as well as the unlike attractive exponent

of the Mie potential λa
kl are obtained from the combining rules defined in equations (3), (4), and (6), respectively.

CR indicates that the unlike repulsive exponent λr
kl is obtained from Equation (6).

k l Group k Group l (εkl/kB) / K λr
kl Ref.

1 1 CH3 CH3 256.77 15.050 [13]

1 2 CH3 CH2 350.77 CR [13]

1 3 CH3 aCH 305.81 CR [48]

1 5 CH3 aCCH2 396.91 CR [48]

1 7 CH3 H2O 274.80 CR [48]

1 8 CH3 CH3OH 275.76 15.537 [48]

1 9 CH3 CO2 205.70 CR current work

2 2 CH2 CH2 473.39 19.871 [13]

2 3 CH2 aCH 415.64 CR [48]

2 5 CH2 aCCH2 454.16 CR [48]

2 7 CH2 H2O 284.53 CR [48]

2 8 CH2 CH3OH 341.41 17.050 [48]

2 9 CH2 CO2 276.45 CR current work

3 3 aCH aCH 371.53 14.756 [48]

3 4 aCH aCCH3 471.23 CR current work

3 5 aCH aCCH2 416.69 CR [48]

4 4 aCCH3 aCCH3 654.41 23.627 current work

5 5 aCCH2 aCCH2 591.56 8.5433 [48]

6 6 CH4 CH4 152.58 12.504 current work

6 7 CH4 H2O 175.41 CR current work

6 8 CH4 CH3OH 233.21 CR current work

6 9 CH4 CO2 144.72 11.950 current work

7 7 H2O H2O 266.68 17.050 [46]

7 8 H2O CH3OH 278.45 CR [48]

7 9 H2O CO2 226.38 CR current work

8 8 CH3OH CH3OH 307.69 19.235 [48]

8 9 CH3OH CO2 157.83 8.3462 current work

9 9 CO2 CO2 207.89 26.408 current work

12



Table 4: Group association energies εHB
kl,ab and bonding volume parameters Kkl,ab for use within the SAFT-γ Mie

group-contribution approach. For groups with two site types, the interactions are symmetrical, e.g., εHB
kl,ab = εHB

kl,ba.

Other interactions not reported here are set to zero, e.g., εHB
CO2CO2,HH = 0.

k l Group k Site a of group k Group l Site b of group l (εHB
kl,ab/kB) / K Kkl,ab / Å3

7 7 H2O H H2O e 1985.4 101.69

7 8 H2O H CH3OH e 1993.5 104.11

7 8 H2O e CH3OH H 1993.5 104.11

7 9 H2O e CO2 H 1398.1 91.419

8 8 CH3OH H CH3OH e 2062.1 106.57
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Figure 2: Vapour-liquid equilibria of pure methane and carbon dioxide. The symbols represent the experimental

data [59] for methane (squares) and carbon dioxide (circles) and the continuous curves the description with the

SAFT-γ Mie approach [13]: (a) saturated densities, and (b) vapour pressures. The filled symbols correspond to the

experimental critical points.
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methanol (circles) and water (squares) and the continuous curves the description with the SAFT-γ Mie approach [13]:

(a) saturated densities, (b) vapour pressures. The filled symbols correspond to the experimental critical points.

sites (two sites of type e and two sites of type H). The parameters were presented in Ref. [46], and were

determined using experimental vapour pressure and saturated-liquid density data [59]. The description of

the VLE obtained with this model is illustrated in Figure 4.

Methanol is modelled with the CH3OH molecular group comprising two fused Mie segments and three

association sites (two sites of type e and one site of type H). The parameters are estimated using experi-

mental methanol VLE data [59], as before. The phase behaviour of methanol as described by the SAFT-γ

Mie approach [13] and experimental data are shown in Figure 4.

The aromatic aCH, aCCH2, and aCCH3 groups used to model benzene, toluene, and the n-alkylbenzenes

are represented as single Mie segments. The parameters describing the aCH and aCCH2 groups as well

as the aCH-aCCH2, aCH-CH3, aCH-CH2, aCCH2-CH3, and aCCH2-CH2 unlike group interactions are

estimated using experimental VLE data for pure benzene, and alkylbenzenes from n-ethylbenzene to n-

decylbenzene [64–84], as well as excess enthalpies for the benzene + n-propylbenzene binary mixture at

15



Table 5: Percentage average absolute deviations (%AAD) for the vapour pressures Pvap(T ) and the saturated-liquid

densities ρsat(T ) obtained with the SAFT-γ Mie group-contribution approach [13] (where n is the number of data

points) for the pure components of interest in our current work.

Compound T range / K n %AAD Ref. T range / K n %AAD Ref.

Pvap(T ) ρsat(T )

Methane 95–190 20 0.70 [59] 95–190 20 2.16 [59]

Carbon dioxide 220–300 17 0.07 [59] 220–300 17 0.41 [59]

Benzene 280– 540 53 2.52 [59] 280– 540 53 1.04 [59]

Toluene 220–530 32 0.55 [59] 220–530 32 0.35 [59]

Water 280–640 37 1.15 [59] 280–640 37 1.95 [59]

Methanol 180–510 34 0.43 [59] 180–510 34 0.72 [59]

n-ethylbenzene 424–555 29 1.10 [65] 183–490 38 0.49 [70, 82]

n-propylbenzene 283–433 25 1.77 [69, 79] 223–543 20 0.43 [68, 75, 84]

n-butylbenzene 313–523 43 0.99 [73, 76, 81, 82] 223–583 22 0.44 [66, 68, 75, 78, 81, 82]

n-pentylbenzene 293–477 18 2.63 [72, 79, 83] 233-633 14 1.46 [74, 75]

n-hexylbenzene 264–463 27 1.57 [77] 253–613 53 0.37 [71, 75]

n-heptylbenzene 309–513 20 5.30 [72, 83] 281–368 11 0.25 [72, 74]

n-octylbenzene 293–463 25 5.24 [64, 73] 243–648 12 1.00 [75]

n-nonylbenzene 332–466 29 3.30 [64, 77, 80] 282–368 9 0.14 [72]

n-decylbenzene 343–571 25 1.82 [67, 73, 83] 273–678 11 1.35 [75]

ambient conditions (T = 298.15 K, P = 1 atm) [85]. The aCCH3 like parameters and the aCH-aCCH3

unlike group interaction are estimated using vapour pressure and saturated-liquid density data [59] of pure

toluene, as well as excess enthalpies and volumes for the toluene + benzene binary mixture at ambient

conditions (T = 298.15 K, P = 1 atm) [86, 87]. The models obtained, summarized in Tables 2 to 4 are

found to provide a good representation of the vapour pressures and saturated-liquid densities of the pure

components, as can be seen from the values of the %AADs presented in Table 5.

3.2. Binary Mixtures

In this section the characterization of the remaining unlike group interaction parameters involving at

least one molecular group is discussed and the performance of the SAFT-γ Mie approach in describing

the properties of binary mixtures containing the compounds of interest is investigated. We first consider

mixtures containing alkanes of different chain length and one other component chosen from carbon dioxide,

methanol, and water, illustrating the increasing non-ideality of the fluid-phase behaviour exhibited by these

systems as one of the components becomes more polar. Mixtures not containing alkanes, namely, water +

carbon dioxide and water + methanol, are then considered.

An accurate description of the properties of mixtures containing n-alkanes and carbon dioxide is impor-

tant in the oil and gas industry as methane and the alkanes are prevalent components of crude oil and natural
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gas, while carbon dioxide is ubiquitous, either as naturally occurring in the reservoir fluids or injected in the

context of enhanced oil recovery or carbon storage. It is also of interest to note that the type of fluid-phase

behaviour exhibited by binary mixtures of carbon dioxide and n-alkanes changes with the chain length of

the alkane [88, 89].

As mentioned previously, methane is represented as a single Mie sphere and carbon dioxide as two fused

Mie segments in SAFT-γ Mie approach. Methane and carbon dioxide are both modelled with molecular

groups so that is not possible to determine their unlike interactions using pure component data; instead

these are estimated using the fluid-phase equilibria experimental data for the carbon dioxide + methane

mixture. The unlike dispersion energy εkl, and repulsive Mie exponent λr
kl are determined using isothermal

VLE data at 240 and 270 K [90]. The resulting interaction parameter values are presented in Table 3.

In Figure 5(a) the SAFT-γ Mie description of the phase behaviour is compared to the experimental data

for the temperatures considered in the parameter estimation [90] and for two other isotherms [91] that are

obtained predicively. The fluid-phase behaviour obtained using the PPR78 equation of state [25] is also

included in the figure for comparison. The PPR78 model is considered one of the most accurate predictive

cubic EoSs, often used in the modelling of these substances within the oil and gas industry. The comparison

with SAFT-γ Mie EoS presented in Figure 5 provides a validation of the accuracy of our group-contribution

methododology.

The n-alkanes are modelled in SAFT-γ Mie with the appropriate number of CH3 and CH2 groups, so

that the complete series of carbon dioxide + n-alkane binary mixtures can be treated from the determination

of just two unlike interactions between the CH3-CO2 and CH2-CO2 groups. In this work only the unlike

dispersion energies εkl are estimated. Experimental VLE data for carbon dioxide + n-decane at 344.23 and

377.59 K [92], as well as carbon dioxide + n-pentane at 344.15 and 377.59 K [93] are used to characterize the

unlike dispersion energies. The resulting interaction-parameter values are displayed in Table 3. Once the

group parameters have been determined the fluid-phase behaviour of different carbon dioxide + n-alkane

mixtures can be predicted, as illustrated in Figures 5(b) and (c) for carbon dioxide mixtures containing

n-propane and n-decane, respectively. In the figures the predictions of the SAFT-γ Mie approach are

compared with experimental data [92, 94] and with calculations carried out using the PPR78 EoS [25].

The very good descriptions obtained with SAFT-γ Mie underline the transferability of the SAFT-γ Mie

models to conditions (in the case of n-decane) and compounds (in the case of n-propane) removed from the

parameter estimation procedure.

The versatility of the SAFT-γ Mie approach is further illustrated in Figure 6 where the excess properties

of mixing of two binary mixtures predicted from SAFT-γ Mie EoS are compared with the corresponding

experimental data [95, 96]. The excess enthalpy of mixing for carbon dioxide + n-pentane at different

temperatures and pressures is presented in Figure 6(a) and the excess volume of mixing of carbon dioxide

+ n-hexane at different temperatures and pressures in Figure 6(b). The effect of a change in temperature
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or pressure is captured well with the approach, leading to a near-quantitative description of the excess

properties considered.

Methanol is widely used in the oil and gas industry as a thermodynamic inhibitor to prevent the formation

of clathrate hydrates [16]. As such, an accurate description of the properties of its mixtures with alkanes

and water is essential. The fluid-phase behaviour of methane + methanol [98, 99] is of type III based

on the classification of van Konynenburg and Scott [100], with entensive regions of liquid-liquid demixing.

Mixtures of longer alkanes with methanol present different types of fluid-phase behaviour. The binary

mixture of ethane + methanol also exhibits type III behaviour, while n-propane + methanol and mixtures

involving longer n-alkanes and methanol exhibit type II behaviour [99].

A treatment of the entire series of methanol + alkane binary mixtures from methane to long alkanes

requires the determination of the CH4-CH3OH unlike interaction for the case of the methane + methanol

mixture, as well as those of the CH3-CH3OH and CH2-CH3OH unlike interactions for the other n-alkane

+ methanol mixtures. The CH4-CH3OH unlike interaction parameters (unlike dispersion energy, εkl, and

repulsive exponent, λr
kl) are estimated using experimental phase equilibrium data at 290 and 330 K [101],

and the corresponding values are reported in Table 3. Once the parameters have been determined, they

are validated with predictions of two additional isotherms at 273.15 and 310 K. The results are compared

to experimental data [101] in Figure 7. The SAFT-γ Mie approach provides an excellent description of the

composition of the two phases, as evidenced by Figures 7(b) and (c). A particular feature of this system

is the trend of solubility of methane in the methanol-rich phase: at pressures below 30 MPa the solubility

decreases with increasing temperature, whereas at higher pressures the opposite is observed. This feature

is captured very well with the SAFT-γ Mie EoS, as is apparent from the figure.

The CH3-CH3OH and CH2-CH3OH unlike interaction parameters (unlike dispersion energy εkl and

repulsive exponent λr
kl) are estimated using experimental n-hexane + methanol isobaric phase equilibrium

data at 0.101 MPa [102, 103]. The values of the group parameters are presented in Table 3. These parameters

are then used to predict the fluid-phase behaviour of the mixtures of methanol with two shorter n-alkanes

(ethane and n-butane). A comparison of the SAFT-γ Mie description with the experimental data for these

mixtures as well as the predictions for n-hexane + methanol [102–105] is made in Figure 8. The description

provided by SAFT-γ Mie in the case of n-hexane + methanol is very good, both for the VLE and LLE

regions. The predictive capabilities of the approach is confirmed by the quality of the predictions in the case

of the ethane + methanol and n-butane + methanol systems, with the VLE, LLE, and three-phase VLLE

well described.

Mixtures of alkanes with water are notoriously difficult to model due to the extreme liquid-liquid demixing

(type III phase behaviour) encountered in these systems, with solubilities that differ by orders of magnitude

between the two coexisting phases. In order to model the methane + water system, the CH4-H2O unlike

interaction needs to be determined. The unlike dispersion energy (εkl) between the two molecular groups
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Figure 5: Isothermal pressure-mole fraction (P -x) vapour-liquid equilibria of selected binary mixtures of carbon

dioxide + n-alkanes. The symbols represent the experimental data, the continuous curves the description with the

SAFT-γ Mie approach [13] and the dashed curves the description with the PPR78 equation of state [25]: (a) phase

diagram of carbon dioxide + methane at temperatures of T = 230 K [91] (squares), T = 240 K [90] (circles), T =

270 K [91] (triangles), and T = 293 K [97] (diamonds); (b) fluid-phase diagram of carbon dioxide + n-propane [94]

at temperatures of T = 253.15 K (squares), T = 273.15 K (circles), T = 293.15 K (triangles), and T = 313.15 K

(diamonds); (c) phase diagram of carbon dioxide + n-decane [92] at temperatures of T = 310.93 K (squares), T =

444.26 K (circles), and T = 510.93 K (triangles). 19



 0

 1

 2

 3

 4

 5

0.0 0.2 0.4 0.6 0.8 1.0

a)

hE
/k

J 
m

ol
−

1

xCO2

−120

−100

−80

−60

−40

−20

 0

0.0 0.2 0.4 0.6 0.8 1.0

b)

vE
/c

m
3  m

ol
−

1

xCO2
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represent the experimental data and the continuous curves the predictions with the SAFT-γ Mie approach [13]: (a)

excess molar enthalpy of mixing for carbon dioxide + n-pentane [95] at temperatures and pressures of T = 470.15 K
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(b) excess molar volume of mixing for carbon dioxide + n-hexane [96] at temperatures and pressures of T = 308.15 K
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Figure 7: Isothermal pressure-mole fraction (P -x) vapour-liquid and liquid-liquid equilibria of methanol + methane.

The symbols represent the experimental data [101] at temperatures of T = 273.15 K (squares), T = 290 K (circles),

T = 310 K (triangles), and T = 330 K (diamonds), while the continuous curves represent the description with the

SAFT-γ Mie approach [13]: (a) global fluid-phase diagram, (b) methanol-rich phase, and (c) methane-rich phase.
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is estimated using experimental phase equilibrium data at 423.15 and 473.15 K [106]; the value of the

parameter is reported in Table 3. This parameter is then used to predict the phase equilibrium at other

temperatures. The SAFT-γ Mie predictions are compared to experimental data [106] in Figure 9. SAFT-γ

Mie provides a good description of the experimental data, with both phases described accurately over a

range of temperatures, although the minimum of solubility of methane in the water-rich phase around 340 K

is not captured.

The modelling of other n-alkane + water mixtures requires the determination of the CH3-H2O and

CH2-H2O unlike group interactions; the dispersion energies (εkl) are reported in Table 3. These values are

estimated using experimental isobaric (P = 1 atm) n-heptane + water phase equilibrium data [108, 109], and

can then been used to predict the isothermal phase equilibria of three other n-alkane + water mixtures. The

predictions for n-butane + water, n-hexane + water, and n-decane + water are compared with experimental

data [110–115] in Figure 10. As can be seen from the figure, the SAFT-γ Mie predictions provide a good

overall description of both the VLE and LLE of the three systems considered. The ability to describe the

higher (LLE) and lower (VLE) pressure regimes of the mixtures is a stringent test of the model. The SAFT-γ

Mie group-contribution method is shown to deliver a very accurate prediction in both regimes; a similarly

encouraging result was presented early on with the SAFT-γ square-well methodology [56].

As the alkane + water systems, the carbon dioxide + water binary mixture also exhibits type III fluid-

phase behaviour characterized by extension regions of liquid-liquid immiscibility. As mentioned earlier, CO2

is modelled here including one association site that is inactive except in the presence of water where it

interacts with the two e sites of water. Previous works using the Wertheim association theory concluded

that such an association scheme was the most suited to describe the fluid-phase behaviour of water +

carbon dioxide [61–63]. The determination of the CO2-H2O unlike interaction hence involves three unlike

parameters: the unlike dispersion energy (εCO2H2O), the unlike association energy (εHB
CO2H2O,He), and the

unlike association bonding volume (KCO2H2O,He). These parameters are estimated using experimental phase

equilibrium data at 323.2 K [116] and are presented in Table 3. Once these parameters have been prescribed

they are used to predict other isotherms. The results of the SAFT-γ Mie predictions are compared with

experimental data, as well as with the description obtained using the CPA EoS [3, 117] in Figure 11. We

provide a comparison with results obtained with the CPA EoS here instead of the PPR78 as the CPA EoS

accounts for the association in the mixture and is hence provides a better point of comparison to assess the

quality of our SAFT-γ Mie methodology. It can be seen in the figure that SAFT-γ Mie provides an excellent

description of the compositions of both the water-rich and carbon dioxide-rich phases of this challenging

mixture, including the minimum of solubility of water in the carbon dioxide-rich phase characteristic of non-

azeotropic type III phase behaviour with gas-gas immiscibility of the second kind [100], which is discussed

in more detail by Dos Ramos et al. [118, 119]. This minimum in solubility is difficult to capture accurately

as it requires a good description of the locus of the three-phase line as well as a good agreement with the
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Figure 9: Isothermal pressure-mole fraction (P -x) vapour-liquid and liquid-liquid equilibria of water + methane. The

symbols represent the experimental data at temperatures of T = 310.93 K [107] (squares), T = 344.26 K [107]

(circles), T = 377.59 K [107] (triangles), T = 423.15 K [106] (diamonds), and T = 473.15 K [106] (crosses), while

the continuous curves represent the description with the SAFT-γ Mie approach [13]: (a) entire composition range,

(b) water-rich phase, and (c) methane-rich phase.
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Figure 10: Isothermal pressure-mole fraction (P -x) vapour-liquid and liquid-liquid equilibria of n-alkanes + water.

The symbols represent the experimental data, while the continuous curves represent the predictions with the SAFT-γ

Mie approach [13]. The dashed line corresponds to the three-phase (vapour-liquid-liquid) equilibrium pressure. (a)

n-butane + water [110–112] at a temperature of T = 377.59 K, (b) n-hexane + water [113–115] at a temperature of

T = 473.15 K, and (c) n-decane + water [113, 114] at a temperature of T = 498.15 K.
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Table 6: Absolute errors in composition (defined in Eq. 13) for the binary systems presented in Figures 5 to 12.

System ∆x ∆y

Methane + Carbon dioxide 1.11 0.47

Propane + Carbon dioxide 3.20 1.50

n-decane + Carbon dioxide 2.00 0.76

Methane + Methanol 0.23 0.56

Ethane + Methanol 0.08 0.17

n-butane + Methanol 0.16 0.03

n-hexane + Methanol 1.00 0.45

Methane + Water 4.14 2.41

n-butane + Water 7.45 2.10

n-hexane + Water 5.21 2.58

n-decane + Water 0.03 0.33

Carbon Dioxide + Water 3.02 1.38

Methanol + Water 3.44 1.70

high-pressure solubilities.

The Henry’s law coefficients and excess enthalpies of mixing for the carbon dioxide + water system

are also predicted with the SAFT-γ Mie approach and are compared with experimental data [120–137] in

Figure 12. It can be seen that a very good description of the experimental data is obtained in a fully

predictive manner.

The water + methanol binary mixture exhibits type I phase behaviour in the classification of van Kony-

nenburg and Scott [100]: only VLE is observed for this mixture. The determination of the CH3OH-H2O

unlike interaction requires the adjustment of the unlike dispersion energy εkl, the unlike association en-

ergy εHB
kl,ab, and the unlike association bonding volume Kkl,ab. A symmetrical association scheme is used:

εHB
CH3OH−H2O,He = εHB

CH3OH−H2O,eH and KCH3OH−H2O,He = KCH3OH−H2O,eH . These parameters are esti-

mated using experimental VLE data at 0.101 MPa [138], and the resulting parameters are then transferred

to the prediction of the isothermal VLE at four temperatures. The results of these predictions are compared

with experimental data in Figure 13, where the excellent quality of the description provided by SAFT-γ Mie

is apparent.

In addition to the graphical comparisons provided, a summary of the absolute error in composition for

the phase equilibria of the binary mixtures examined in this section is provided in Table 6. The small

values of these errors confirm the accuracy and predictive capability of the SAFT-γ Mie group-contribution

methodology.
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Figure 11: Isothermal pressure-mole fraction (P -x) vapour-liquid and liquid-liquid equilibria of water + carbon

dioxide. The symbols represent the experimental data [116] at temperatures of T = 323.2 K (squares), T = 333.2 K

(circles), and T = 353.1 K (triangles), while the continuous curves represent the description with the SAFT-γ Mie

approach [13], and the dashed curves the description with the CPA equation of state [3, 117]: (a) entire composition

range, (b) water-rich phase, and (c) carbon-dioxide-rich phase.
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Figure 12: (a) Henry’s law coefficients for water + carbon dioxide; the symbols represent the experimental data [120–

136] and the continuous curve the prediction of the SAFT-γ Mie approach [13]; (b) Isothermal-isobaric excess molar

enthalpy of mixing for water + carbon dioxide. The symbols represent the experimental data [137] at a temperature

of T = 523.15 K and pressures of P = 10.4 MPa (squares), P = 12.4 MPa (circles), and P = 15 MPa (diamonds); the

continuous and dashed curves represent the predictions of the SAFT-γ Mie approach [13] for the one-phase regions

and two phase region, respectively.
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Figure 13: Isothermal pressure-mole fraction (P -x) vapour-liquid equilibria of methanol + water. The symbols

represent the experimental data at temperatures of T = 298.14 K [139] (squares), T = 308.15 K [140] (circles), T =

323.15 K [141] (triangles), and T = 333.15 K [141] (diamonds), while the continuous curves represent the predictions

with the SAFT-γ Mie approach [13].
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3.3. Ternary Mixtures

Although ternary mixtures are more complex than binary mixtures and thus a step towards the descrip-

tion of the real fluids encountered in the oil and gas industry that can contain large numbers of components,

ternary mixtures are simple enough that experimental data on well-characterized systems are available. As

all of the necessary group interactions have been determined from pure components and binary mixtures,

ternary mixtures can now be treated without any further parameter estimation, therefore providing a fur-

ther test of the predictive capabilities of the methodology. To illustrate the performance of the SAFT-γ Mie

approach in describing ternary mixtures two systems are chosen: methanol + n-propane + carbon dioxide;

and water + methanol + n-hexane.

Three sets of conditions are considered for the methanol + n-propane + carbon dioxide ternary mixture:

T = 313.1 K - P = 1.21 MPa; T = 343.1 K - P = 1.21 MPa; and T = 343.1 K - P = 2.7 MPa. At these

conditions the methanol + carbon dioxide binary mixture exhibits a wide fluid-fluid immiscibility gap. For

both temperatures at the lower pressure the methanol + n-propane binary mixture exhibits vapour-liquid

phase equilibria while carbon dioxide and n-propane are fully miscible. As a result, for both temperatures

at the lower pressure considered, the fluid-phase behaviour of the ternary mixture is characterized by a two-

phase region, with the phase boundaries extending from the methanol + carbon dioxide binary mixture to the

methanol + n-propane mixture VLE boundary. At the higher temperature and pressure considered methanol

and n-propane are miscible [142], while the carbon dioxide + n-propane mixture exhibits a small vapour-

liquid region close to pure n-propane (although no experimental data are available, the pressure is slightly

above the vapour pressure of propane and a simple extrapolation of the data of Reamer et al. [143] leads to

a phase split at these conditions). The phase behaviour of the ternary mixture, while still characterized by

a two-phase region, reflects the change in the phase behaviour of the constituent binary mixtures, with the

phase boundaries now extending from the methanol + carbon dioxide binary mixture phase boundaries to

those of the carbon dioxide + n-propane binary mixture. The experimental data [142] for this system are

compared with the SAFT-γ Mie predictions in Figure 14(a). It can be seen from the figure that the SAFT-γ

Mie predictions are in good agreement with the data and capture this change in phase behaviour very well.

The second ternary mixture considered in our current work is water + methanol + n-hexane at T =

318.15 K and P = 0.101 MPa. As mentioned in the previous section the water + n-hexane binary mixture

exhibits an extensive liquid-liquid region under these conditions, while methanol is fully miscible with both

water and n-hexane at these conditions. This leads to the appearance of a broad two-phase region in

the ternary mixture with methanol partitioning between a water-rich phase and a n-hexane-rich phase, a

feature common to ternary mixtures containing water, an alkane and a small polar molecule. The comparison

between the experimental data [144] and the SAFT-γ Mie predictions provided in Figure 14(b) highlights

the fidelity of the approach in reproducing the experimental phase envelope and tie-lines. The quality of

the predicted calculations is better appreciated studying the corresponding K values for the two ternary
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systems; these are presented in Figure 15. For the methanol + propane + carbon dioxide system the K

value of propane is calculated as

KC3H8
=

yC3H8

xC3H8

, (14)

and a comparison of the experimental and calculated values for a given composition of propane in the

gas phase yC3H8 is provided. For the water + methanol + n-hexane mixture the K value of methanol is

calculated as

KCH3OH =
xWR
CH3OH

xHR
CH3OH

, (15)

where the superscripts WR and HR indicate the water-rich and n-hexane-rich phases, respectively. A

comparison of the experimental and calculated values for a given xHR
CH3OH is given in the figure. It is

apparent that, with the exception of a small number of points (corresponding to the higher temperature and

pressure states of the propane + carbon dioxide + methanol system and to the region of very low methanol

content for the water + n-hexane + methanol system) the calculated values are in good agreement with the

experimental data.

4. Conclusion

The application of the SAFT-γ Mie group-contribution approach [13] to selected mixtures with com-

ponents relevant to the oil and gas industry is shown to provide an excellent description of the properties

for the systems of interest. Pure-component coexistence properties are reproduced well with our method,

and single-phase densities and second-derivative properties are predicted with excellent accuracy. Several of

the compounds considered here have been modelled using molecular groups due to their small size. Others

have been described with representative chemical functional groups, making it possible to make use of the

advantage conferred to SAFT-γ Mie by its heterogroup nature, which allows one to obtain unlike group

interactions from pure-component data alone. The capability of SAFT-γ Mie to give exceptional predictions

of the fluid-phase behaviour of binary mixtures of families of compounds based on interactions developed

using data for only a few of the members of the family is demonstrated on an extensive set of mixtures and

highlights the versatility of the group-contribution methodology. The predictive capability of the SAFT-γ

Mie approach also extends to the treatment of mixtures at different conditions and of other properties. The

use of association sites within the underlying SAFT base of the approach enables a high quality treatment

of hydrogen-bonding and polar fluids, such as water, carbon dioxide, methanol, and mixtures containing

these species. The SAFT-γ Mie approach provides good descriptions of the VLE and LLE for the systems

of interest, including challenging phenomena such as the solubility minimum of water in the carbon-dioxide-

rich phase and the crossing point of the isotherms of the methane solubility in the methanol-rich phase.

Furthermore, second-derivative properties and excess properties of mixing are also described well, making

SAFT-γ Mie a promising generic platform for thermodynamic modelling in the oil and gas industry. In our
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Figure 14: Isothermal-isobaric fluid-phase equilibrium of ternary mixtures. The symbols represent the experimental

data and the continuous curves the predictions of the SAFT-γ Mie approach [13]: (a) Propane + carbon dioxide +

methanol [142] at temperatures and pressures of T = 313.1 K - P = 1.21 MPa (circles), T = 343.1 K - P = 1.21 MPa

(squares), and T = 343.1 K - P = 2.7 MPa (diamonds); (b) Water + n-hexane + methanol at a temperature of

T = 318.15 K and a pressure of P = 0.101 MPa [144], the dash dotted lines and the dashed lines represent the

experimental and predicted tie lines, respectively;.
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Figure 15: Experimental versus calculated K values for the ternary mixtures propane + carbon dioxide + methanol

(squares) and water + n-hexane + methanol (circles).

current work new groups, including CO2, CH3OH, aCH, aCCH2, and aCCH3, and group-group interactions

have been characterized. As the table of available interactions continues to expand, an increasingly large

number of mixtures becomes accessible. In future work we will continue testing the performance of the

method on an increasing set of systems. The intermolecular parameters obtained with the SAFT-γ Mie

methodology can also be used directly with molecular dynamics simulation to provide a route to structural,

interfacial and dynamical properties that are not directly accessible from the equation of state enhancing

the predictive capabilities of the methodology [145–150].
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