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ABSTRACT

. Mass transfer rate data in a shallow liquid fluidizéd bed has been
obtained in the range 1 < Re_ < 25, 8 < Re < 56. An ion exchange
neutralization reaction was chosen as the most convenient physico-
chemical system for this purpose. From the analysis of data, it is
inferred that for ReS/Reo < 1/6 fluidized beds tend to maintain an
ordered, axial structure in which individual particles are arranged
parallel to the main flow. This arrangement effectively shields a por-
tion of the surféce of the particles f;om the main flow with a resulting
decrease in mass transfer. For ReS/Reo > 1/6 this ordered structure

"is lost due to perturbations in the flow and the bed attains a random
structure. In order to account for the physical properties of differ-
ent solid-liquid systems, the terminal Reynolds number Reo is intro-
duced as the characteristic property that allows precise representation

of data in liquid fluidized beds. For ReS/Reo > 1/6, the following

correlation is obtained:

1 [ Reg T s
Sh 0.86 Re? | =— Sc
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where ¢ 0.5 Re;O'3
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To gain a further understanding of fluidized bed mass transfer re-
sults, some single particle mass transfer studies were made using the
same physico-chemical system. The single particle experiments were
carried out by allowing particles to fall at their kerminal settling
velocity in a reacting solution. The amount of mass transfer was esti-
mated by a sﬁectro—chemical method of analysis. The results are cor-

related by the equation:



. Sh = 0.75 Rei Scll3

* Comparison of single particle and extrapolated fluidized bed re-
sults at a voidage of unity indicates that fluidized bed data is about
117 higher than expected from a consideration of single particle study.
This increase is thought to be due to some kind of "turbulence" and is
possibly generated by the flow distributor of the bed.

To. estimate the mass transfer rate in any multiparticle bed,
whether fixed, distended or fluidized a semi-theoretical correlation
based on Carbérr&'s boundary 1ayei modél (9) h;s been proposed and
tested using the fluidized bed data. This generalised correlation is

Rei
Sh = 0.86 — Sclf3
m ‘ € i

By a small perturbation of velocity and voidage, both of which may fluc-
tuate in a fluidized bed, it is found that the effects of these two
parameters oppoée each other and cancel out. This explains why both
fixed and fluidized bed data may be represented by a single equation,
although their physical characteristics are different.

As an extension to the problem of forced convective diffusion, a
case where the diffusion coefficient is not constant has been analysed.
This case would arise in an ion exchange solid-liquid system. Due. to
the complexity of the problem, only an approximate solufion has been
possible. = The solution predicts the correct dependence of mass trans-
fer coefficient on the flow rate, but its dependence on concentration is

uncertain.
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- " NOMENCLATURE

The dimensions are given in terms of mass (M), length (L), time

(t) and temperature (T). The numbers in parentheses after description

refer to equations in which symbols are used.

A = constant (2.2-1), dimensionless

A o= complex term (A.3-23), dimensionless

A = cross sectional area, L2

a = radius of a unit bell in the free surface model, L

aj as = exponents (2.3-10), dimensionless

B, By, B;, By, B3z, By, Bm = pre exponential cqefficients in equation
of the type (2.2-1) or (2.2-17), dimensionless

b = thickness of concentration boundary layer, L

c = total concentrétion, mols/L3

C, = ‘molar concentration of species 'i', mols/L3

CiR’ Cib = concentration of species 'i' at points R and b
respectively, mols/L3

C; = (Ci - Cib)/(CiR - Cib)’ dimensionless

Cib’ Cib = bulk inlet and exit concentration of species 'i' of the
fluid stream in a fluidized bed, mols/L3

Ei = concentration of species 'i' in the particle phase,
mols /L3

Dis = binary diffusivity of the pair i-s, L2/t

Bij = diffusivity of the pair 1i-j 1in a'multicomponent
mixture, L2/t

D - coupled diffusion coefficient (4.1-3), L2/t

Deff = effective diffusion coefficient (4.1-16), L2/t

D = effective diffusivity in a multiparticle bed (2.32), L2/t



]

particle diameter, L

. . . . + .
ratio of particle diameter in H form to the mixed

+ + ] .
(H, Na ) form, dimensionless

. pseudo voidage (2.3-14), dimensionless

= constants (6.1-14), dimensionless

total drag on a sphere, ML/t2

constant (2.3-10), dimensionless

= constant (4.2-25 to (4.2-5), dimensionless

body force per unit mass, L/t?.

bed height, L

diffusional mass flux with respect to mass average
velocity, M/tL?

diffusional molar flux with respect to molar average
velocity, moles/tL?

overall mass transfer coefficient for constant diffusi-
vity system, L/t

overall and local mass transfer coefficient where
diffusion coefficient is not constant, L/t

volume flow rate, L3/t

molecular weight of species i, M/mole

exponent of Re and Res, dimensionless

molar flux with respect to stationary coordinates,
moles/tL?

exponent (6.1-10), dimensionless

exponent of Sc, dimensionless

fluid pressure, M/Lt?

resin loading i.e. ratio of sodium present in the resin -
to the total capacity of the resin, dimensionless

exponent (6.1-4), dimensionless



gas constant, ML2/t2T mole

radius of particle, L

radial distance in spherical coordinates, L
total surface are of particles, L2
temperature, T

time, t

saturation time, t

time of fall, t

approach velocity, L/t

superficial veiocity, L/t

interstitial velocity, L/t

mass average velocity, L/t

molar average velocity, L/t

v/U, dimensionless

time averaged fluctuating velocity, L/t
volume of particles used in the fluidized bed, L3
total amount of Na in a particle, moles

2 - 30 + 3n° - 218 (2.3-6), dimensionless

131

mass fraction of species 'i', dimensionless
distance perpendicular to flow, L

mole fraction of species 'i', dimensionless
CA/@C’ equivalent fraction of A, dimensionless
axial coordinate in cylindrical coordinate, L
distance in the direction of flow, L

'i', dimensionless

valency of species
DA/DB - 1, dimensionless
intensity of turbulence, dimensionless

angle between the direction of flow and the axis of a

multiparticle bed, radians



= ratio of inert to active spheres, dimensionless
= -ratio of average channelling ‘length to particle diameter,
dimensionless
= voidage, dimensionless
= R/a, dimensionless
.= angle in spherical coordinates, radianms
= viscosity, M/Lt
= u/p, kinematic viscosity, L2/t
= fluid density, M/_L3 )
= density of the particle, M/L3
= mass concentration of species 'i', M/L3
= shear stress, M/t2L
C = angle in spherical coordinates, radians

= stream function, dimension depends on coordinate system

" 'Dimensionless groups

¥

Re

Re

Re.
i

Sc

Sh

Sh

Eg& , Reynolds number based on approach velocity
(used in single particle study)

dUSp

o Reynolds number based on superficial velocity
(used in multiparticle stu&y)

dUSp

Tasey ° Reynolds number based on hydraulic diameter .

(used in multiparticle study)

5%—— s Eﬁ-, Schmidt number
AS
T('Cd R’Cd
T Tpo° overall Sherwood number in single particle study
"TAS
Kd K.d .
T overall Sherwood number in multiparticle study



Sh

Pe

Pe

Ga

Fs

(ST

Re,

S
(=W

e 2

=

bed

effective overall Sherwood number in a multiparticle

Re.Sc , Peclet number in single particle study

Res.Sc, Peclet number in multiparticle study

d3 p(ps-p)g
2
‘Sh - 2

Re-l/ZScl /3

Sh
Re Scll3

Sh
m

Re Scl/3

s Galileo number

Frossling number

s J factor in single particle study

s Jj factor in multiparticle study

interstitial j factor

Yevminal Sellling Reymolds mumber

wWwheye U, is the tevwminal sedling veloddy of o

_S,'“a\e pox Yicle .

10
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1. INTRODUCTION

‘Flﬁidization is an established unit operation and the use of fluid-
ized beds as reactors for a wide range of chemical processes involving
mass and/or heat transfer operations is well known. Industrially, gas-—
solid syste&g are mostly used and an extensive study of gas-solid fluid-
ization has appeared in the literature during the past two decades and
interesg in this particular field is still sustained today. Liquid-
solid fluidization, on the other hand has not been as widely studied for
mass and heat transfer operations,-althbugh'some of the early fundamental
hydrodynamic studies were carried out using liquid-solid systems. The
lack of interest in liquid fluidization is possibly because as yet there
are too few large~scale applications. Most solid-liquid operations have
traditionally been carried out in batch or Semi—continuOus fixed bed type
equipment and there is no reason for departing from well established
fixed bed technology unless fluidized beds can be shown to offer real
technological and economic advantages.

With the development of new techniques in solid-liquid handling, it
has recently been shown that a liquid-solid system can be designed for
continuous operation and this has given a fresh impetus to the study of
liquid fluidized beds. The incentive has come largely in ion exchange
processes, adsorption and hydrometallurgy where a number of continuous
plants now exist employing fluidized bed equipment. Exémples are the
Cloete~Streat contactor (71) and pulsed contactor (74) for ion exchange
processes., The principle of operation of these contactors is a periodic
reversal of flow, which in conjunction with a suitable plate design
allows particles to be transfer%ed from stage to stage counter current
to the direction of liquid fiow. The important advantages of such
multistage liquid fluidized beds are the low resin inventory cost, uni-

formity in p%oduct quality, low pressure drop across the bed (& 0.02 to
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.
0.03 m head of water compared with several metres for fixed beds) and
that no separate back-wash of the bed is necessary., Also a liquid fluid-
ized bed can be designed to operate with suspended materials in the fluid
stream. The Nuclear fuel processing and waste water and sewage treat-—
ment industries will find this feature particularly attractive. In
Nuclear fuel processing, there is an urgent economic need to upgrade uran-
ium from very low grade ore. This can be -achieved by passing an unfil-
tered leached uranium slurry throuéh a fluidized bed of ion exchange
particles.suitable for uranium exchange. This technique is likely to
save the considerable cost of élarification and filtration. Treatment
of waste water and sewage containing suspended particles can also be
carried out in equipment of this type. Weber et al. (86) found that
reclaiming of waste water containing organic dontaminants present in
very small concentration, can be advantageously carried out using a
fluidized bed of active charcoal. A kinetic study indicated that the
rate of uptake of organic material present in waste water was inversely
éroportional to the square of the particle diameter so that if was desir-
able to keep the particle size small and hence a fluidized bed was used
"~to avoid the high cast of pumping.
| Though fluidized beds offer certain advantages compared to fixed
beds, the final choice of operation will depend on the economics. Due
to a limitation in the maximum velocity that can be used in a fluidized
bed; vessel diameter may be larger than a fixed bed for the same volu-
metric throughput. On the other hand, the pressure drop in a fixed bed
is generally higher than for fluidized beds, often requiring the use of
pressure vessels,
A qugntitative knowledge of mass transfer rates is a crucial requi~
site for the overall economic evaluation and design of a fluidized bed

reactor in addition to the other considerations mentioned above. With
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this in mind, the present project was undertaken to obtain liquid phase
mass transfer rates in liquid fluidized beds. It has been mentioned
earlier that liquid fluidized beds will be‘restricted regarding the
flow rate. Hence experiments were carried out in the lower range of
the Reynolds number (1 < ReS < 25)v which is exéected to be the range
of operation for many solid-liquid fluidized beds and where surprisingly
little reliable data is available (see Fig.'6.1—17)..

Since one of the important solid-liquid contacting operations
would invélve ion exchange reactions, it was felt desirable, that some
effort be made in understandiné.the mass transfer results that would be
. obtained using such systems. This was looked at theoretically by ob-
taining an approximate solution of the forced convective diffusion equa-
tion around a single sphere where mass transfer due.to diffusion occurred
under an electro-chemical potgntialhgradient. This problem in general
is complicated due to the presence of the electric gradient in addition
to the concentration gradient, The latter is normally present in most

mass transfer studies.
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2. LITERATURE REVIEW

2.1, Introduction

The rate of mass transfer between a particulate and continuous
phase is the subject of much research and a steady effort to improve
knowledge on the topic has been made during the past few decades. The
sysfems studied include solids, liquid drops and gas bubbles as the
particulate phase and liquid or gaé as the continuous phase. Convec~
tive mass or heat transfer may occur by either free or forced convection.
In general interaction between.these two modes of transfer occurs, but
for practical purposes, particularly at moderate flow rates, free con-
vection effects are small. Much of the theoretical work has been con-
fined to forced convective physical mass transfer studies between a
single particle and a fluid rather than to multiparticle systems such
as fixed or fluidized beds of solids because of the very complex nature
of the latter systems. The complications arise as a result of the inter-
éctions due to the presence of other particles. Nevertheless, the
single particle studies are a useful framework for developing an under-
"standing of the more complicated multiparticle cése. Experimental
.studies are more readily available both for single and multiparticle
systems than are theoretical studies.

Various theoretical models and mathematical techniques have been
used to obtain solutions to the problem of forced convective mass trans-
fer. All the work surveyed here refers to binary mixtures, where the
diffusing component is present in small amount so that the assumption of
constant density, diffusivity and negligible effect of flux allowing un-
coupling of the basic equations are valid. Also no chemical reaction
is allowed. The equations that describe steady state forced convective

diffusion are:
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V.v = 0 (2.1-1)
v.vy = -1 wpa+l g2y (2.1-2)
P P
= i 2 -
v.VC, = D VX, (2.1-3)

with the appropriate bOundarf conditions. Here v is the velocity,
p is the pressure, p and u the density and viscosity of the fluid,
Cy is the concentration of the species 'A' and D,q is the diffu-
sivity of the pair 'A' and 'S' where 'S' is the solvent.

For ease of presentation, single and multiparticle systems will be
reviewed separately, This survey will mostly deal with solid particles,
but a few relevant liquid droplet studies will also be mentioned and in

general no distinction will be made between mass and heat transfer study

and the Nusselt and Sherwood number will be used interchangeably.

2.2,  Forced convective mass transfer from a single solid sphere

Equations (2.1-1) to (2.1-3) which describe forced convective dif-
fusion, under the restrictions mentioned, are a set of non linear partial
differential equations and in general contain three space coordinates.
Before attempting to solve the diffusion equation, the equation of
motion must be solved. For flow past spheres, the flow may be con-
sidered two dimensional axisymmetric, thus reducing the space coordinate
by one. However, it has not yet been éossible to integrate the full
equation of motion analytically even for a single sphere placed in an
iﬁfinite flowing medium. As a result, approximations have been made to
obtain analytic solutions for certain ranges of the Reynolds number.
Consequently analytic solutions for the convective diffusion equation

are at best only possible for the limiting cases.
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Experimentally, however, a wide range of results have appeared in
the literature. Based on theoretical and dimensional analysis, workers
in this field have generally correlated experimental data by an expres-

sion of the form:
Sh = A + BjRe"sc" (2.2-1)

where Sh, Re and Sc are the dimensionless groups kﬁown as the
Sherwood, Reynolds and the Schmidt'numbers (see Notation) and A, B,

m and n. are numbers that are usually taken as constants. Experiment-—
ally it is difficult to eliminéte free convection effects entirely, par-
ticularly at low flow rates, Therefore, free convection effects are
also taken into account when correlating data by the above equation.

It is often thought that the contribution to total ffansfer due to pure
molecular diffusion, free conyection and forced convection are simply
additive. When free convection effects may be neglected, the constant
A 1is assumed to take a value of 2.0, i.e. the Sherwood number corres-—
ponding to the stagnant medium case. The constants of the above equa-
tions are obtained from the analysis of experimental data and theoreti-
_“cal considerations. .

Though the aim is to restrict the review to low particle Reynolds
number (Re up to 100), very often work will be cited that covers a much
higher range (Re about 103). This is because very few experimental
stu&ies are confined to a narrow range of the Reynolds number and also
because there has been little experimental work at low Reynolds number
below Re about 50. Also as mentioned earlier, analytic solutions are
possible only for some limiting cases, these being either very low Rey-
nolds number or boundary layer flow. When there is no flow equation

(2.1-3) reduces to

v2¢, =-0 (2.2-2)



19

Using the boundary conditions

r £ R, c, = C and r = b, CA = CAB (2.2-3)

the solution for the Sherwood number is

) :
Sh =. T-R®b (2.2-4)
K 2R _
where, Sh = —— and K, is the mass transfer coefficient de-
AS
fined by the equation,
_ ac,
KeCar = Can) = " Das T (2.2-5)

Equation (2.2-5) is the expression for the diffusional mass transfer
which in dilute solution is effectively the total rate of mass transfer.
When b > «, Sh -+ 2 in equation (2.2-4), the well known result in an
infinite medium. .For any practical situation natural convection will
be present and hence-the‘above result applies for a sphere of infinitesi-
mally small radius. As a consequence, experimentai verification is
difficult, but there is little to doubt this result,

For very slow motion, inertial terms in equation (2.1-2) may be

neglected. The equation then reduces to

Vp = uviy (2.2-6)
The solution to the above equation under the boundary conditioms
r = R, v = 0 and r = o, v = U (2.2-7)

is available in any standard text and is known as the Stokes' solution.

) (2.2-8)

The "important result is

- - 2 §5n2 3R, 1
w. iU r4 sin“o (1 )

W%
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where U 1is the undisturbed stream velocity or theAapproach velocity

and ¢ 1is the stream function defined such that

e o o1
T r2sing 29
and - _ (2.2-9)
. 1w
Vo ° r sinf or

Here v} and v, are the velocity components in r and 6 directions

in spherical coordinates. .

Stokes' solution is valid whén Re +~ 0 and provides a good descrip-
tion of the flow field in the ﬁeighbourhood of a particle for Re < 1.
.Various workers have attempted to extend the Stokes' solution to a higher
Reynolds number range by a perturbation method. Both regular and singu-
lar perturbation procedures have been considered. A perturbation method
has also Been used to obtain a solution to the diffusion equation and it
seems proper to outline very briefly the general nature of this proce-
dure.

The principle of the regular perturbation technique is to assume
that the perturbed quantity is small so that the original equations can
be simplified to a new set of approximate equationms. The approximate
equations are obtained by substituking an assumed solution in a power
series form and then collecting terms of equal order of the perturbed
quantity. In some cases straightforward perturbation may yield a satis-
factory result but when the series do not converge at every point, one
resorts to the singular perturbation technique. At low Reynolds number,
stretéhed variables are applied into results obtained from the regular

perturbation method. A good summary of this technique in low Reynolds

number field is given by Taylor (76).
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Consider the diffusion equation in dimensionless form which may be

written as

1 1 _ 2 g2l -
v+, VC, | Te v<C (2.2-10)
1 .- 1 _ - - =
where v v/U, CA (CA CAb)/(CAR CAb) and Pe 2RU/DAS.

For creeping flow, Re -+ 0 and from the Stokes' solution it can be seen
that theicgfgg?;y field is dependent on spatial coordinates alone. It,
therefore, follows that the Sherwood number which in fact is a dimension-
less concentration gradient at the surface of the particle is a function
of the Peclet number alone. However the exact form of the function de-
pends on the Peclet number itsélf. An‘order of magnitude analysis shows
that if the Peclet number is large then the concentration change occurs
within a very small region close to the sphere. Under these conditions,
diffusion in the angular direction 6, can be neglected and the whole
analysis is considerably simplified. This is the usual thin boundary
layer assumption for the concentration field. Thé criterion for this
approximation to be valid is given by the equation

-

R,3 .
7= & = 0) i.e. Pe>1 | (2.2-11)

where b is the thickness of the concentration boundary layer. When
the Peclet number is smail, the diffusion layer becomes thick and diffusion
in the angular direction must be taken into account. Thus depending on
the Peclet, number we have two asymptotic solutions, one for Pe -+ » and
the other for Pe - O,

For large Peclet number and low Reynolds number analytic solutions
have been obtained by Levich (50) and Friedlander (18,19). Levich's (50)
solution involves a change of coordinate from CA(r,e) to CA(¢,6) and
then by a suitable transformation he reduced the partial differential equa-

tion into an ordinafy differential equation. Using the Stokes' stream
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function he obtained an expression for the overall Sherwood number as
Sh = ,997 pel/3 (2.2-12)

Friedlander (18) obtained a solution by an integral method. He
assumed a concentration profile which satisfied as many boundary condi-
tions as possible and substituted the assumed profile in the integrated
form of the original diffusion equation. With sufficient terms in his
assumed profile and a Stokes' stream function he obtained essentially
the same result as Leviech (50). The weakness of this analysis is the
arbitrary nature of the assumed concentration profile since different
functions could satisfy the same boundary conditions and hence the
uniqueness of the solution is not guaranteed. Levich (50) pointed out
that the integral method may 1ead.to a substantial error in the concen-
tration distribution. However, the total rate of mass transfer may
agree quite well, because very near the surface, the integral method
would yield a reasonably accurate value of the concentration gradient.
It may'be pointed out that Friedlander (18) used the wrong sign in two
of his equations, but fortunately the errors cancelled out.

It is worth noting that the thin boundary layer approximation is
not valid near the rear of the sphere where the diffusion layer grows
sufficiently to invalidate the boundary layer analysis. ISih and
Newman (70) by the singular perturbation method showed that six distinct
regions of mass transfer exist around a sphere and one of these regions
is the thin boundary layer region. In order to obtain mass transfer
rates from the entire sphere, it is necessary to form a composite solu-—
tion for the regions close to the sphere. However, for any practical
purpose, the boundary layer solution is sufficiently good since the

boundary layer region exists over most of the sphere surface.



For. low Peclet numbers, the boundary layer assumption is not valid
and so the entife diffusion equation must be solved. Kronig and
Bfuijsten (45) obtained a solution for the low Peclet number\case by the
use of the regﬁlar perturbation method. The solution, however, was not
completely 3atisfactory. The concentration field vanished everywhere
at infinity except in the direction of flow. Acrivos and Taylor (1)
overcame the difficulty ofsatisfyihg the boundary condition at infinity
by the ﬁse of the singular perturbation method. The authors obtained

the following expression for the overall Sherwood number in the range

0 < Pegl as

Sh = 2 + [Pe + }Pe? 1n Pe + 0(Pe?) (2,2-13)

These authors (1) also obtained an expression for the Sherwood number
for large Peclet number and for slightly higher Reynolds number using
pertubation correction of the Stokes' solution obtained by Proudman

and Pearson (76). The expression is : ,
_ 1/3 ENYE N
Sh .991 Pe (CD/CDS) (2.2-14)

where CD and CDS are drag coefficients at the Re considered and
Re » 0 respectively. From this equation, the authors (1) pointed out
that the effect of increasing Re on Sh is considerably less sensi-
tive to an increase in the Reynolds number than the drag coefficienk.
Yuge (90) considered the same problem of forced convective transfer
for creepiﬁg flow using a coordinate perturbation procedure, rather than
parameter perturbation as used by the workers previously mentioned. He .
used éhe spherical angle as the perturbed quantity and expressed the
dimensionless coordinate in' terms of a series of even power of 6 with

the coefficients that are a function of the radial coordinate alone. The

first approximation was obtained by neglecting the angular diffusion term
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from the diffusion eqﬁation and the assumed series substituted in the
diffusioq equation., Equating coefficients of equal power in 6 an in-
finite set of ordinary differential equations were obtained and inte-
grated numerically for values of the Peclet number of 0.3, 1, 3 and
10. Fortunately it turned out that the coefficients converged very
rapidly gnd only the first tﬁree were required to obtain a solution.
The term neglected in the first approximation could be corrected by a
second approximation. He found that for the Peclet number less than
0;3 the average value of the Sherwood number was indistingui;;ble from
the value of the stagnant medium case. Though Yuge (90) obtained
results for the small Peclet number range his method should be valid for
the entire Peclet number range for he makes no assumption of the magni-—
tude of the Peclet number. Altho;gh this type of expansion cannot be
proven to be mathematically rigorous, the method seems logical since in
the limiting case as Re + O, the concentration distribution will be that
for a séhere in a stétionary medium. Yuge's (90) result disagrees by
about 15Z at Pe = 1 with the Acrivos and Taylor (i) solution. The
latter authors' perturbation procedure is quite rigorous but it cannot
predict the value of the Peclet number where the solution will breakdown
and possibly their solution becomes poorer for Pe > 0.3.

Some experimental confirmations of the theory are available fér the
very low Reynolds nuﬁber region. Rowe et al. (67) report experimental
aata obtained by Aksel'rud for benzoic acid spheres that were moved in a

circle in a stagnant tank of oil for which the data could be correlated

as

Sh = 1.1 pell3 (2.2-15)

in the range O < Re < 2.5 and Sc ~ 3 x 108, Calderbank and Korchinsk
(8) also observed the rate of heat transfer at low Reynolds number for

mercury drops falling in aqueous glycerol solution. Though experiments



vere carried out using drops, these authors found that the drag coef-
ficients for mercury drops deviated from solid sphere behaviour at

Ré ; 200 when drop oscillation started. Hence this study can be used
to compare solid sphere results for Re < 200. The authors carried

out experiménts by feeding hot mercury‘drops, formed by means of nozzles
to a vacuum jacketed constant temperature glass column through which

the continuous phase was recirculated. The transfer coefficient was
determiﬁed by a heat balance on the drop and the results plotted as
Sh/Sc‘3'vs Re on logarithmic coordinates. However, if one uses an
exponent of 1/3 instead of 0.3 for the Schmidt number, the low
Reynolds number result could be correlated using an equation of the type
(2.2-12) with a coefficient of 1.05 to within #157 for 0.5 < Re < 10.
The. Schmidt numbef for these rums was about 3 x 103.  Thus it may be
concluded.that the high Peclet number low Reynolds number theoretical
studies are in good agreement with experiments. Very few reliable low
Peclet number experiments are known.

At large Reynolds number the velocity components appearing in the
diffusion equation will be a function of the Reynolds number and thus
the Sherwood number will no longer be a unique function of the Peclet
number. At sufficiently high Reynolds number, where the flow may be
described by the laminar boundary layer theory, the velocity components
vary as Re3/2 and the solution for the Sherwood number varies with
Re% instead of Rel/3, Various workers have tried to obtain solutions
for the diffusion equation at high Reynolds number.

Frossling (20) was one of the earliest to obtain a solution from a
singlé sphere for laminar boundary layer flow. Frossling (20) in an
identical manner to the series solution for two dimensional laminar flow,
expressed the potential velocity, the contour of the body, the stream

function and the concentration in a series form. Equating coefficients
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of equal power of the indepéndent variable along which expansion was
made, a series of ordinary differential equations were obtained which

he solveé numerically, He found that the first few equations were
sufficient to obtain a solution. Frossling (20) was unable to eliminate
the Schmidt number from his equations, thus the coefficients were func-—
tions of the Schmidt number. For the particular case of Sc = 2.532
which corresponds to the sublimation of naphthalene in air he obtained

an expression for the local Sherwood number as follows:
Sh(8) = 1.366 (1 - .183762 + ... ) Rell2 gcl/3 (2.2-16)

The above theory, however, does not predict the velocity profile in the
wake' and hence overall transfer rates cannot be obtained by this method
and the analysis ié valid only upt6 the flow separation point.

Lochiel and Calderbank (52) obtained a solution using a quartic
velocity profile obtained from an integral solutioﬁ of the momentum equa-
tion. 'They obtained an expression for the overall Sherwood number simi-

lar in form to equation (2.2-1) except for the constant A as follows:
Sh = B Rell? gclf3 (2.2-17)

From the‘theoretical analysis, the authors found that upto the flow
separation point which was at about 1080, the value of the coefficient

B was 0.7. Since the flow in the wake was not amenable to analysis,
the authors on the basis of experimental results assumed that the wake
contributed about 207 in magnitude of the frontal transfer and suggested
a value of B as 0.84 for the entire sphere. Garner and Kee (27) and
Grafton (32) presented a method for the prediction of mass transfer in
the wake region. Garner and Kee (27) obtained a solution for wake flow
assuming a quartic velocity distribution in the boundary layer and zero

skin friction in the wake, The main objection to this work is the
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assumption of constant pressure which implies a constant velocity at the
outer edge of tﬁe boundary layer, though the velocity alters quite
répidly close to the rear stagnation point and separation point. Their
result is similar in form to equation (2.2-17) with the value of B = 0.94
and recommenhded between 250 < Re < 900. Grafton (32) tried to account
for the variation of the velocity at the edge of the boundary layer in
terms of the velocity within the wake and the angle between the surface
and confour of circulation. The disadvantage here is that a trace of
the flow pattern within ihe vortex is required. The author predicts a
value of 0.9 ‘for the coefficient B of equation (2,2-17) for a Rey-
_nolds number about 500 and suggests that the coefficient is slightly
dependent on the Reynolds number.

Experimental verification of the theory at large Reynolds number is
not complgte since the theory is only approximate. Most authors corre-
late data using an equation similar to equation (2.2-1) and is usually

expressed as:
Sh = 2 + ByRel/2 gcl/3 (2.2-18)

The constant 2 and the value of the exponents in the above equation
follow from thepretical considerat}bns. In general the value of coeffi-
cient B; depends onthe Reynolds number and various authors report this
value to lie between about 0.55 and 0.95. Frossling (21) suggested

a value of 0.552 for the coefficient B; in the range 2 < Re < 1300
for the maés transfer studies from suspended solid naphthalene spheres
and drops of aniline, nitrobenzene and water in air stream. This work
has béen criticized by Rowe et al. (67) since Frossling (21) obtained the
value of diffusion coefficient by measuring the mass transfer rate at
zero air velocity and equating the Sherwood number to the theoretical

value of 2. which in actual case was probably influenced by natural con-
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vection. Ranz and Marshall (63) suggest B; = 0.6 for 2 < Re < 200
from evaporation of water drops ip air and Linton and Sutherland (51)
quote B; = 0.582 for 490 < Re < 7580 but without the constant 2 in
equation (2.2-18).

Garner and coworkers (26-28) carried out an extensive study of the
dissolution of solid spheres. The maximum Re was‘abOut 103, Since
the Grashof number, which is a measure of natural convection, was about
10% in their study, their (27)~re§u1ts were influenced by this effect
even at Re about 750. In general their data was in good agreement
with the theoretical solution of éarner and Kee (27) where the coeffic-
ient B in equation (2.2-17) is suggested as 0.94, An important point
to notice in the studies of Gérner and coworkers (26-28) is that they use
an average velocity in the experimental correlations rather than the
approach velocity in defining the Reynolds number. In the&retical work
the latter is used. The approach velocity is the undisturbed stream
velocity and could be taken as the centreline velocity for a uniform
Qtream, but for otheF profiles it could be taken as the average velocity
over the cross sectional area of the particle. Hence in most of these
-authors' experiments where a nearly parabolic profile existed, the value
'of the coefficient B or B; would decrease by about v2 and would be
about 0.66 instead of 0.94 if an approach velocity is used to define
the Reynolds number. Garner and Suckling (28), however, tried to use
an épproach velocity but were not successful in correlating two sets of
data, one for parabolic flow and the other for evenly distributed flow.
This failure has been attributed (51) to the appreciable turbulence that
was possibly present in their work. Rowe et al. (67) criticized the work
of Garner and Kee (27) sincg the value of the diffusion coefficient used
by these authors was rather low and this factor alone could effect

results by a factor of 2.
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Rowe, Claxton and Lewis (67) carried out an extensive investigation
on both heat and mass transfer f;om single spheres in water and air
streams éor 20 < Re < 103,  They achieved a ﬁniform velocity in their
experiments. Using A =2, n= 1/3 and m = 0.4 to 0.6 in equation
(2.2-1), they found from a least square analysis that the minimum error
variance occurred for m = 0;48, but for the most remote value of
m = 0.6, the error variance was too small to be significant. However,
they thought that m increased slightly with Re, but for any practi-
cal purpose it could be considered constant for two to three orders of
magnitude change in Re. They finally suggested the same equation as
(2.2-18) with the value of B; =0.79 and 0.69 in water and air res-
pectively or a single value of B; = 0.72 with an error of 10% for both
water and air.

A recent study for 400 < Re < 1250 1is due to Gibert, Couderc and
Angelino (15) who used an electro—chemical'techniqﬁe employing oxidation
gnd redﬁction of potassium ferricyanide. By statistical analysis of a
large amount of data they suggested an equation similar to (2.2-17) with
B = 0.882 but the exponent of Re as 0.452. However,as suggésted by
Rowe et al. (67) an equally acceptablé correlation could be obtained
with the exponent as 0.5 and a constant about 0.75 since the error
variance is insignificant over two to three orders of magniiude cﬁange
in Re.

For a 1low Reynolds number between 5 and 100 few results are
known, Baird and Hamielec (4) obtained a solution for a Reynolds num-—
ber range of 10 to 100 using the Kawaguti (reference given in the
authors' paper) velocity profile. TFor Re > 40 there is a region of
reverse flow in which the velocity gradient is negative resulting in an
imaginary term in the solution. The authors overcame this difficulty

by suggesting that the reverse region could be treated separately as a



foward flow region. In this region it is assumed that fresh liquid at
the initial concentration impinges on the rea} stagnation point. They
réalised that this was not a satisfactory explanation since the vortex
region would contain very little fresh fluid. The predicted overall
Sherwood numbers were in agreement with the values predicted by the
empirical equation (2.2~18) with a value of the congtant B, about
0.57 for Reynolds number above 40. At Reynélds number less than 20,
the the;ry begins to deviate from the experimental condition because
the Kawaguti velocity profile does not' reduce to the Stokes' solution
as Reynolds number becomes very small.

In the range 5 < Re < 150 Peltzman and Pfeffer (59) experimentally
studied the local and overall transfer rates from cast benzoic acid and
betanaphthanol spheres dissolving in water. They found that the overall
Sherwood number c;uld be correlated by equation (2.2-18) with the value
of By as .87 and .47 for benzoic acid and betanaphthanol systems
respectively. They were also able to correlate the data b§ an equation
similar to equation (2.2-12) used in very low Reynolds number work but
with different coefficients. The authors observed that'at a Reynolds
number greater than 25, flow separation occurred and so their data can
not be considered as a confirmation of the very low Reynolds number theory
though reasonable correlation was obtained with Pell3, The reason for
the increased mass transfer rates from benzoic acid sphéres compared to
betanaphthgnol system was believed to be due to grain dropping of the
cast benzoic acid spheres which they used. The authors report that they

used an average velocity based on‘Beyﬁélds number but Chen (10) one of

i

Pfeffer's students compares his data with that of Peltzman and Pfeffer
(59) and from this it appears that the latter in fact used an approach
velocity for the parabolic velocity profile which existed in their experi-

ment. Chen (10) reported seven experimental points for the dissolution



31

of benzoic acid spheres in water using the same technique and apparatus
as Peltzman and Pfeffer (59) and covering a Reynolds number between 8.4
and 56.  He suggested no corre;ation, but for five points lying between
25 < Re < 56 a.correlation similar to equation (2.2-17) could be sug-
gested with the value of B as .85 with about 47 deviation. It may
be mentioned that the author used an approach velocity to define the
Reynolds number.

Some relevant liquid drop dat; are available in this range of Rey-
nolds numﬁer. Calderbank and Korchinsks' (8) work with mercury drops
for 20 < Re < 200 may be corfelated using equation (2.2-17).with the
constant B equal to .75 to within *10%. Recently Clinton and
Whatley (12) have reported mass transfer results from water drops and
thoria sol droplets fluidized in Z—Ethyl-l—hexanol.' A surfactant was
added in the continuous phase so that the drop behaved as if it were a
rigid sphere with no induced circulation. The Reynolds number was cal-
culated using the centreline velocity for the parabolic profile which
éxisted in their experiments and was between 0.4 and 14. For a very
large number of runs (about 103 determinations for water drops only)'
“they correlated their data using an equation similar to (2.2-18) with
.Bl equal to 0.82 and the constant as 5 1instead of 2. There is
some scatter between the water drop data which possibly covered an Re upto
about 5 and the thoria sol data. Unfértunately the data is not tabu-
latéd to check if the very low Reynolds number data could be fitted with
Pel/3 correlation which is valid for-the high Schmidt number case
(Sc = 35,700) and also to see if a better correlation could be proposed.
It appears that the data could be better ¥epresented without the constant
5, in the range 5 < Re < 14,

Recently, numeriéal solutions have been presented (3,39,49) for the

entire laminar rangg. The solution obtained by Leclair and Hamielec
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(49) is suspect, since their result indicates that the maximum transfer
occurs about six degrees away from the front stagnation point. The solu-
tion obtained by Al-Taha (3) shows that for Re > 100 and high Schmidt
number (Sc > 300) equation (2.2-17) could be used with the coefficient

B equal to 0.6 but without the constant 2, For Re < 100 if equa-
tion (2.2-17) is used, the constant B would take higher values than 0.6
and would depend on the range of the Reynolds number and the Schmidt num-
ber. Ihme et al. (39) showed thaf for Re > 10 and large Schmidt number
the coefficient B would take a larger value than 0.6 (e.g. for

Sc = 103 the constant would be.ab;ut 0.85). The solutions of Al-Taha

(3) and Ihme et al. (39) are shown in Fig. 6.1-12.

2,3. Forced convective mass transfer in multiparticle assembly

Considerable disagreement exists among the various workers who have
studied the mass and heat transfer problem in multiparticle systems.
Even, the apparently simple task of finding the minimum value of the
Sherwood number for & particle in an assembly of particles has given rise
to wide disagreement.

In general a multiparticle bed may consist of active and inert parti-

cles and can be viewed schematically as shown in Fig. 2.3-1.

Fig. 2.3-1: Schematic representation of a multiparticle bed.

Constant outer
boundary condition
at a distance b
from the active
particle

Inert particle

//////~Active particle
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It is easy to see that equation (2.2-4) cannot be used to predict
the Sherwood number even for zero flow since the surrounding medium is
not homoéeneous. However if an effective value of diffusivity can be
attributed to the medium, then équation (2.2-4) may be used to calculate
an effective value of the Sherwood number. If b is the thickness over

which the concentration change occurs, Y the ratio of inert to active

spheres and e the voidage of the bed, then R/b (15501,3 and from
equation (2.2-4)
e _ 2 _
1 - 6—;—0

| P |

Here, the superscript e denotes an effective value and the subscript

1.1

m' is used to remind us that this is a multiparticle assembly. For
Y >> 1 Miyauchi (55) suggests the following relation for the effective
diffusivity p%:

D, €/1.5 , | (2.3-2)

Then

e
Shm Shm e/1.5 (2.3-3)

when Y =+ ©, the medium 1s infinite and Sh; + 2 and for the general

case Shm.s 2. When y =1 i.e. all the spheres are active, the med-

ium may be finite or infinite and

Sh - = 2 (2.3-4)

1 - (1-e)i3

Here a molecular value of the diffusi#ivity is used since b necessarily
shrinks in between the spaces of active spheres.

Cornish (13) has objected to this concept of the limiting value of
the Sherwood number for the case when y = 1. Based on the analogous
solution available in the field of electrostatics for the capacitance

 between two spheres at the same surface potential, he concluded that if
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Ehéfhpﬁber of spheres was increased, then the progressive value of the
Sherwood number would decrease and ultimately approach zero. He ex;
plained this due to a non availability of an effective sink in a multi-
particle bed. .Cornish (13) indicated that this possibility of zero
Sherwood number in a multiparticle bed could possibly explain the very
low values of the Sherwood number found in some works for low flow rates.
Zabrodksy (91,92) has opposed Cornish's view and suggested that the ob-
served low values of the Sherwood ﬂumber at low flow rates in multi-
particle Beds was due to effects resulting from non uniformity in flow
distribution and that equation k2.3—4) could be used to determine the
true limiting value of the Sherwood number. He showed (92) that even
micro non uniformities of flow distribution could reduce the value of
the Sherwood number by. several orders of magnitude.‘ His micro non uni-
formity model was criticized'py Rowe (65) but nevertheless it is true
that at very low Reynolds number dispersion may become important.

Cornish (13), however, suggested that the surroundings could act as
a sink when flowing and it seems that the answer to the above controversy
lies here. If the fluid is flowing, however small the flow rate may be,
it is possible to conceive a steady state. For very small flow rates
the effect of convection on the concentration gradient may be neglected
and as a first approximation equation (2.3-4) may be used to evaluate the
Sherwood number. | However, if the surrounding medium is stationary, it
canﬂot act as an effective sink and the Sherwood number would be less than
2 and for an infinite number of spheres the Sherwood number would tend to
zero, It is difficult to check this viewpoint since experimental determin-
ation of the Shérwood number at such low flow rates is very difficult.
Miyauchi et al. (56) report a value of the Sherwood number between 2
" and 10 for Res between O.1 anﬂ 1 for a maximum of eight active

spheres.  Unfortunately this is not representative for a large number of
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spheres.  The data reported by Wilson and Geankoplis (88) shows a value

between 7 and 14 for 10-3 < Res < 10-2. Below Res about 10_3

the Sherwood number is less than 5, but at such low flow rates, the

data ought to be corrected for axial dispersion and natural convection
which the authors did not take into account since these effects are
difficult to predict. However, these results possibly suggest that
equation (2.3-4) may be used at low flow rates at least as a rough approxi-
mation,

In a practical situation, where the effect of convection cannot be
neglected,'any theoretical study is quite involved due to the complex
hydrodynamic field that exists around a sphere in a multiparticle system.
Obviously, the first step is to establish the flow field for creeping
flov. Considerable advances havelbeen made and the monograph by Happel
and Brenner (35) is a useful source of reference for this.

Voskanyan, Golovin and Tolmachev (84) obtained an analytic solution
to the ﬁroblem of convective diffusion for creeping flow past a cubic
array of spheres using the velocity field obtained By Hasimoto (36) for
the above system. Hasimoto restricted his attention to dilute suspen-
sions and obtained a solution by a point force approximation method
where each sphere is replaced by a point force retarding the motion of

the fluid. For a cubic array he obtained the total drag F. acting

T

on a sphere as

67uRU
1 -1.7601 (1-e)l/3

(2.3-5)

It is easy to see that for e = 0.82, the drag tends to infinity and hence
the solution is valid only %or very high voidage range.

Voskanyan et al. (84) showed that for a sufficiently widély spaced
lattice and large Peclet number, the problem could be reduced to that

considered by Levich (50) except for the fact that the concentration of
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the stream flowing past the K-th sphere in the region outside the dif-
fusion boundary layer could be considered equal to the cpncentration
which would be produced by all the diffusion wakes at the K-th node of
the lattice. The criterion for the solution to be valid is that the

/3

period of the lattice must be much greater than R.Pe; where

Pes = ReS.Sc showing the extremely dilute concentration of spheres.
This range is of little practical interest, thOugh this is the most rig-
orous solution available to date in multiparticle systems.

Pfeffer and Happel (60) and Pfeffer (61) presented solutions for
creeping flow using a cell model ﬁroposed by Happel (34) for a voidaée
between 0.4 and 1.0, The model is based on the assumption that a
three dimensional assembly of spheres can be considered to be a number of
identical unit cells consisting of a particle surrounded by a spherical
fluié envelope. The fluid contained in each cell contains the same
amount of‘fluid as the relative amount of fluid to particle in the en-
tire assemblage. The outside surface of each cell is assumed friction-
less and hence this model is also known as the free surface model. Thus
the entire disturbance, due to each particle is confined to the cell of
fluid with which it is associated. For mass or heat transport the con-
centration or temperature of the forward moving fluid is assumed to be

that of the cell boundary. Schematically this is shown below in Fig.

2,3~2,
Fig. 2.3-2: Schematic representation of a unit cell.

Fluid

Particle

Frictionless outer
boundary
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The appropriate solution (34,35) for the stream function is given as

U sin?p 3 5.4
v o= “'s‘z‘ﬁ"“[<2+3n5)r2+-R—-<3+2n5) Rr‘nr]
r Rz
(2.3-6)
where n =R/a and W = 2 - 3n+ 3n% - 2nb.

Pfeffer and Happel (60) obtained a solution to the convective mass or
heat transfer problem by the Yuge coordinate perturbation method (90)
mentioned earlier. Plots of jm. factor against Res show that the
jm factor is not independent of the Schmidt number at low Reynolds num-—
ber. At very low Reynolds number a straight line with a slope of -1
is obtained and as the Reynolds number increases the slope deviates from
unity finally merging into a straight line of slope -2/3 for a Peclet
number of about 70. Thus for large Peclet number (Pes > 70) the

following equation is obtained
sh = By(e) Pell3 : : (2.3-7)

where B, 1is a function of bed voidage and decreases with decreasing
voidage. TFor a single sphere fhey predict essentially the same result
as obtained by Yuge (90). Pfeffer (61) in continuation of this work
used the thin boundary layer approximation for the high Peclet number
low Reynolds number case and proceeded in an analogous manner to the
Levich (50) solution for a single sphere. He obtained the following

result

- —~\513 1’3 '
Sh = 1.26 [1 (1-¢) ] pell3 (2.3-8)
m W s

which reduces to equation (2.2-12) for € - 1. The agreement with the
experimental data available for Res < 100 may be considered reason-
able. Yaron and Gal-Or (89) also obtained essentially the same result

using an integral method of solution. The reason why the free surface
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model using the creeping flow velocity distribution applies at higher
Reynolds number.is explained by the fact that'in a particular assemblage
fioﬁ separation occurs at a higher Reynolds number. This hypothesis is
also supported by the work of Leclair and Hamielec (48) who numerically
solved the &ntire equation of motion through particle assemblages for

Res upto 103 using a cell model similar to that mentioned above ex-
cept for the outer boundary condition. These authors (48) assume a

zero vo%ticity instead of zero shear stress at the outer cell boundary.
Hapéel and Brenner (35) have raisgd a minor objection to this boundary
condition, but there is little difference in the result., Leclair and
‘Hamielec (48) found that as porosity decreased the flow separation angle
(measured from the rear stagnation point) and the size of the ring de-
creased with decreasing porosity for the same Reynolds number. For
example at a voidage of 0.4 and Reynolds number about 100 separation
would possibly just start. Local mass transfer measurements by Peltzman
and Pfeffer (59) from an active particle placed in én assembly of inert
particles also indicates that the separation ring moves back towards the
rear stagnation point with decrease in voidage. Leclair and Hamielec
(49) in another paper solved the heat or mass transport problem for large
Peclet number for the intermediate range of Reynolds number. An examina-
tion of their result indicates that for a Reynolds number of upto 100
the jm factors are possibly the same as obtained by Pfeffer (61).-

From a least square analysis they found that the following relationship

correlated their theoretical results

5 8% o 1,485 Re +032 ' (2.3-9)
m _ S

Since the mass and heat transfer results are difficult to obtain experi-
mentally, it is probably best to check the cell models against experimental

data available on flow through packed and fluidized beds. TFor example
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the difference between the theoretical'ahd experimental values of drag
coefficients as reported by Leclair and Hamielec (48) is 15.5, 4.1,
-13, -36. and 547 for Res '1’ 10, 20, 50 and 100.respeétive1y. Dis-
agreement with fluidized beds is much greater., Values of relative
velocity predicted by Happel (34) for creeping flow are 25-100% below
experimental data. Leclair'and Hamielec (48) suggest that this dis-
crepancy is due to the oversimplified assumption of a spherical outer
shell:

Carberry (9) proposed a solution based on the concept of diffusion
within a developing boundary layer which is repeatedly destroyed and
developed as the fluid passes through an assembly of particles. This
was an extension of the work of Mixon and Carberry (54) who considered
the case of diffusion within a bouﬁdary layer of arbitrary velocity dis-
tribution of the form:

ay

(le)

= vz;\ ap : (2.3-10)

U

<
I

where aj; and ap are arbitrary constants and x; and z; are the
distance perpendicular to flow and distance in the direction of flow.
For a; =1 and ap; = 0.5, the form of the velocity distribution is
similar to the laminar boundary layer theory on a flat plate which is

given as

. X3 . .
= — (2.3-11)
12VZ]

U

i<

-

In fact equation (2.3-11) is the first linear term of various power
series development that describe laminar boundary flow on a flat plate,
Carberry (9) considered that a multiparticle system could be viewed as

a series of discrete surfaces of length z; separated at points by
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void cells and the flow over the surfaces may be described by equation
(2.3-11).  Assuming that U = 2U; = ZUS/s and the linear length 2z,
is equal £o one particle diameter, he obtained an expression for the
mass transfer coefficient. He made the latter assumption from mixing
data which suggests that more or less perfect mixing occurred every
particle diameter., The expression for the Sherwood number takes the

form:

1/2
Re

Sh = 1.15 ———0 §cl!3 (2.3-12)
m eli2

without considering convection normal to the surface, and

172
Re

Sh = ,974 ——n gcll3 (2.3-13)
m ell2

considering convection normal to the surface. This model agrees well
with a wide variety of experimental data, mostly for fixed beds over the
range 0.5 < Re < 10é and may be considered satisfactory bearing in
mind the approximate nature of the theory and the di&ersity of the source
of data.

Kusik and Happel (47) employed a free surface model and a boundary
layer theory to predict the rate of mass transfer in a multiparticle
system, They assumed that the presence of vortices behind partiéles had
the effect of 1oweriﬁg the area available for liquid flow. Therefore,
the volume of the vortex behind each sphere was approximated and sub-
tracted from the total volume of the unit cell and they obtained an ex-

pression for the effective voidage E as

E = €= .75 (1-¢)(e-0.2) (2.3-14)

Solving the integral velocity and concentration equation they obtained

the following expression:
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Rel/Z

Sh =. .93 —= gcl/3 (2.3-15)
m E1/2

The maximum Reynolds number recommended for the above equation is aﬁout
300 which is the limit of stable vortices. Moderate agreement was
found with experimental data.

KRataoka, Yoshida and Ueyama (43) have recently proposed a semi
theoretical correlation for packed beds based on the classical hydraulic
radius model where a packed bed is assumed as a series of inclined
tubes. The authors viewed mass transfer in packed beds analogous to
that between a pipe surface and a stream of fluid where the tube radius
for this model is ed/3(l-e) and the path length d/cosf where B 1is
the angle between flow direction and axis of bed and is usually taken
as 45°, The authors showed that the entrance length required for a
fully developed profile was at least an order in magnitude smaller than
the path length. For a pdrabolic profile and high Peclet.nuﬁber
kPes > 500) they obtained the solution

(1-¢) 1/3

Sh = 1.85
m e21/3

Peé’3 (2.3-16)

The authors found that their solution was quite similar to that of
Pfeffer (61) and in fact represented data better at low Res. Hydraulic
radius model is not éuitable at high voidage due to a (1-e) term in
the equation. Very recently Hughmark (38) used this type of model to
correlate momentum, mass and heat transfer data where the author sug-
gested that for expanded beds the ratio of fluid path length to bed
height should be modified empirically between v2 and 1.0.

L Kuni and Suzuki (46) put forward a channelling model in packed beds

for low Peclet number (Pes < 10). In this model the bed structure is

assumed as a stagnant zone where concentration of the fluid is in equili-
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brium with the solids and a channelling zone through which the fluid is
in plug flow and that maés transfer occurs in the channel. The area of
the chanﬁel is taken equal to half the surface of the solids and the
channel length is determined by the residence time distribution of the
fluid. The authors showed that for no st;gnant zones and Pe_ < 15,

the following expression could be written

Pes
Shm = m (2.3-17)

where § denotes the ratio of average channelling length to diameter
of particle and is unity for the ideal case and increases with non ideal-
ity thus decreasing the value of the Sherwood number. This model pre-
dict; the correct order of magnitude for the Sherwood number obtained in
gas fluidized beds though physically this is not a very realistic model.

The theoretical models that have found most acceptance are the free
surface. model of Pfeffer (61) and the boundary layer model of Carberry
(9). For a v;idage of about 0.4 the difference between'the models for
10 < Res < 500 1is probably within the above uncertainties and this ex-
plains why the data of McCune and Wilhelm (53), Gaffney and Drew (22)
and Thodos and Hobson (78) fit both the models. For Res < 50 reliable
data is scarce. Since the various models are not conclusive it becomes
necessary to rely more on the experimental results which might aid in
better understanding and formulation of more realistic models.

A large amount of experimental work is available on the mass and
heat transfer problem from particles in a particulate bed. Barker (5)
in 1965 listed 486 references for heat transfer in fixed and fluidized
bed§. Gelperin and Einstein (30) recently suggested a particle to fluid

heat transfer correlation as
213

Re
0.4 —8—5 Sclf3 (2.3-18)

"

Sh
m
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Re -
for TEE' > 200. This correlation is based on existing heat transfer
data and may deviate 100 to 200%Z. Unfortunately, the overwhelming
part of the work carried out was with gas fluidized beds and very few
reliable results are known for ﬁes f 50 in liquid fluidized beds.

A number of authors (77, 59, 29, 41) Have made some useful studies
of local and overall transfer rate from single particles placed in an
assembly of particles.

Thoenss and Kramers (77) inveséigated the mass transfer rates from
benzoic acid and porous sphere; soaked with liquids in various packings
of inert spheres for a voidage beéween 0.26 and 0.48 in water and
gaseous streams. They found that in general the results weré quitel
complex which they attributed to different flow conditions that could
exist for different voidage but for same Res. ?ot a rough average

of 438 runs they proposed that for 40 < Re, < 4000:

Sh = 1.0 Rell/2 gcl/3 (2.3-19)
m i
where - Rei ;%%EET The authors found that it was

difficult to correlate both liquid and gas runs by a single equation.
TThis is due to different order of the thickness of the concentration
boundary layer for the two systems particulafly at low flow rates.
Peltzman and Pfeffer (59) found that presence of an inert sphere
in front of the active sphere caused the separation ring to move towards
the rear stagnation point and with sufficiently large number of particles
it is possible that separation does not occur until flow is substantiélly
increased. They found that an axial and equilateral trianguldr arrange-
ment reduced the mass transfer rate due to an effective "area blockage".
However an open triangular and hexagonal arrangement gave an overall

mass transfer higher than for a single particle, simulating the behaviour

of a large array of particles, * In all studies it was observed that axial
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proximity of other spheres had a larger effect than radial proximity.
Due to the complex form of the relationship among various groups for
differené arrangements, the authors could not propose any generalised.
correlation.

Gillespie, Crandall and Carberry (29).studied the local and average
ﬁeat transfer coefficients from an internally heated copper sphere situ-
ated in a randomly packed bed of inert spheres using air as the contin-
uous medium. By examining local heat transfer coefficients, they found
that over certain regions the Sherwood number was dependent on the
square root of the Reynolds number, so that in these regions the velocity
profile could be assumed to be described by boundary layer theory. The
effect of repacking was to alter the local transfer coefficient, but had
little effect on the average value. Their work also showed entrance
and wall effects. For the bulk of the experiments they proposed the

following correlation at the centre of the bed:

- B 0.65 ' _
Sh = 0.63 Re_ . (2.3-20)

Near thg wall, the coefficient increased to about 0.75.

Jolls and Hanratty (41) studied the mechanism of flow and mass trans-—
fer around a single particle in a packed bed (e = 0.41) using the
electrochemical reduction of ferricyanide at a high current density on a
nickel cathode embedded in the test sphere. From a knowledge of mass
traqsfer to an electrode of small size, they could calculate the velocity
gradient and hence the shear stress. With the exception of the extreme
rearward portion of the spheres, the effect of Reynolds number on the
local mass transfer rate and local shear stress suggests that flow can
be described by a three dimensional boundary layer which is in broad
agreement with the investigation of Gillespie et al. (29). Jolls and

Hanratty, however, found that the exponent of Reynolds number was some-
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what greater than 0.5. This indicates that in the rear of the sphere
mass transfer rate had a greater dependence on flow than predicted by
boundary'layer theory. A previous investigation by these authors (40)
showed that the laminar-turbulent transition occurred in the range

Re between 100-150 with large flow fluctuations.  However, their
measured mass transfer showed no dramatic changes in the average rates.
They found that a single correlation was difficult to obtain due to the
statistical variation of the environment, but for a large number of runs
for which the bed was repacked before each experiment they suggest the

following correlations:

sh = 1.59 Reg'SG scll3  for Re > 140 (2.3-21)
sh = 1.44 Re2'58 sell3  for 35 < Re, < 140 (2.3-22)
sh_ = 1.64 Reg'6 sel!3  for Re< 35 (2.3-23)

ihe authors stated that for Res < 35, there were wide variations and
that this result is of questionable significance. 'In another study,
Hanratty et al. (42) reported mass transfer data in a packed bed in
cubic array (e = 0.26) using the same electrochemical technique and

suggested

Sh = 2.39 Re2'56 scll3 (2.3-24)

which is possibly valid for 30 < Re < 103._ These results are shown
in Fig. 6.1-18.

The experimental work mentioned so far does not include a study of
the effect of voidage. Theons and Kramers (77) varied voidage in a
limited range 0.26 < € < .48 but their correlation cannot be extended
to a higher voidage range due to the appearance of a (l-¢€) term. Rowe,
Claxton and Lewis (68) made overall heat and mass transfer measurements

for a voidage between 0.365 and 0.632. Following the approach of
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their single particle study (67) they correlated data as

Sh_ = 2 + ByRe™ scl/ 3 (2.3-25)

1= a3

where the first term is the value of the Sherwood number for the stag-

nant case as given by equation (2.3-4). The value of m 1is given

by %é%% = 4,65 Re;O'28 and By = 0.61/¢ in air and 0.7/e in water.

The value of m is about 0.5 for the usual range of interest and hence
=1 -1

Shm « g instead of € ! as predicted by the boundary layer model.

The authors checked their data with a few fluidized bed runs and found
reasonable agreement. However, in their experiments they used single
" benzoic acid spheres and inert table tennis balls and the authors do not
mention whether segregavien occurred due to Fhe density difference.

Chu, Kalil and Wetteroth (11) obtained mass transfer data for the
evaporatién of naphthalene in an air fluidized bed and obtained the

following correlations:

5.7

[
]

Re;0'78 for 1< Re; < 30 (2.3-26) °

0.44

i 1.77 Re; for 30 < Re, < 1o (2.3-27)

m

This work has quite often been quoted in tﬂe literature, though the
experimental scatter is large (see Fig. 6.1-7). Also the use of ‘Rei

is not suitable for beds having a high voidage and these authors possibly
carried out experiments for € > 0.9, Evans and Gerald (17) measured
mass transfer rates from benzoic acid granules to fixed and fluidized
beds for ReS between 1 and 100. The authors-calculated surface
area from pressure drop data and this could have introduced a large error
in their result since they.reported difficulty in obtaining reliable

pressure drop data.
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Thodos and coworkers (78-83) have reported several studies on the
mass and heat transfer rates in fixed and fluidized beds. In almost all
the work, except for few fixed bed experiments, gas was used as the con-
tinuous medium., Initially, the workers neglected the effect of longi-
tudinal mixing, but later Thodos and Petrovic (81) corrected for this.
The latter authors correlated both packed and fluidized bed runs by the

following equation:

o . -0.427 _
ji = j €= 0.58 Re_ (2.3-28)

for 20 < ReS < 2000, Thodos.ané Wilkins (82) and Thodos ang Yoon
(83) have experimentally determined the actual driving force in gas
fluidized beds using tra%élling sampling probes and found that for all
practical purposes, longitudinal dispersion could be neglected for the
flow range they considered. The latter authors suggested the correla-

tion for 100 < Res < 450 as

0.5

-1 — o = - -
o= e 0.947 Res (2.3-29)

Beek (6) discussed the form of the correlation that would describe
-mass transfer in both fixed and fluidized beds. As in practice one
.description of mass transfer over the whole range of voidage would be
preferred, the author suggested the following correlation in a multi-

particle bed:

Sh e = B, Re, Sclf? (2.3-30)

where B, 1is only slightly dependent on voidage and hence can be
assumed constant and m has a value about 0.5 At low ReS the
author referred to the work of Snowdon and Turner (72) since this is one
of the féw reliable experiﬁental studies in liquid fluidized beds.

These authors (72) studied mass transfer in a shallow liquid fluidized
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bed of ion exchange particles using ghe H+/Na+-Ch10ride, H+/Na+-
Acetate and H+/£Cu++—Chloride systems. The mass transfér coefficient
was evaluated assuming plug flow, this being checked by varying the bed
height. They expressed both fix;d and fluidized bed results by the

following equation:

o 0.81 o 1/2 g.1/3 -
sh_ == Rel/2 sc (2.3-31)

Beek (6) suggests that the aboye cérrelation is valid for 5 < ReS < 50
and in a ﬁigher range 20 < ReS < 2000, equation (2.3-28) could be used
(see Fig. 6.1-17). |

Quite recently Couderc and Angelino (14) have published ;esults for
liquid fluidized beds forﬁ 100 < Re < 300 by following the dissolution
of benzoic acid particles. They expressed results as Shm-Sc'1/3
against € on logarithmic coordinates with ReS as a parameter and
obtained a series of lines with slopes of -1,98, -2,04, =-2.17 and
-2.21 for a ReS of 150, 175, 200 and 225 respectively (see Fig.
6.1—8). They therefore assumed a mean value of the slope as =2 and
suggested the following correlation with an average deviation of 4.5%

-and a maximum of 207 as

Sh = Re
s

- > (2.3-32) .
This correlation is satisfactory as far as the authors' data is con-
cerﬁed but is unlikely to be valid over a wider range since the slopes
mentioned above vary in a systematic way with ReS. The authors also
studied the effect of bed dilution by coating benzoic acid particles
with paint so that all the particles had similar characteristics and
then found a 10% reductiop in the mass transfer coefficient, This is

in contradiction to the observation of Wilson and Geankoplis (88) who

found”po such effects.



One_interesting study is due to Mullin and Treleaven (57) who meas—-
ured mass transfer rates from benzoic acid spheres for vqidages upto
unity and Res between 50 and 700, They obtained single particle
results in good agreement with the results of Garner and Kee (27) using
an average velocity based Reynolds number. Their method of correlation
is rational since a flat velocity profile existed in the test section.
For the multiparticle case, they found no observable difference in mass
transfer whether or not a particle was fixed and the results could be
expressed in a similar form to single particle results except that the
coefficient increased with voidage. Mullin and Treleaven (57) assumed
that the increase in mass transfer rate in the multiparticle bed was due
to increased turbulence in the fluid stream generated by a fluctuating
velocity gradient and wake flow of neighbouring particles. By a tor-
tuous argument, they suggested a form of correlation similar to equation
(2.3-27) which is empirically successful, From their work it may be
seen that the mass transfer rate is more than-doubléd at a voidage of
0.5 when compared to a single particle for the same flow rate and an
increase of this magnitude seems improbable when attributed to turbu-
lence alone. Though turbulence may be a factor, the increase in mass
transfer rate ig primarily due to an increased velocity gradient of the

-

fluid as it passes through the voids in a particulate bed.

2.4, Summary of forced convective mass transfer studies from solid

spheres in single and multiparticle assembly

Mass transfer rates for single particles can be predicted from the
theory for the limiting case of creeping flow and boundary layer flow.
However, for the latter case the theoretical predictipns are not exact,
because of the difficulty in describing the flow in the wake. Experi-

mental results are uéually correlated by most workers using the equation
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(2.2-18):

Sh = 2 + By Rel/2 gcl/3

where the coefficient B; has been reported between 0.55 and 0.95.

In the above equation, some workers use the constant 2 to account for
the effect of molecular diffusion without regérd to the fact that both
convection and diffusion are responsible for convective mass transfer in
the fluid phase and that molecular diffusion occurs only at the solid-
fluid interface when the rate of transfer is small. Thus the effect of
convection is to modify the concentration gradient and thus the straight-
forward addition of conduction and convection terms is not meaningful.
Others believe that the Sherwood number should be 2 when Re + 0 with-
out regard for the Reynolds number range for which the data was obtained.
For example, it is pointless to use equations similar to (2.2-18) when
correlating high Reynolds number data. Indeed Sh - 2 when Re + 0

as may be seen from equation (2.2-13). If equation (2.2-18) is used

in correlating data, the consfant term should be obtained from regression
of data and since this equation would contain more than one unknown it
would be more appropriate to choose an equation of the form (2.2-17).
Recently Watts (85) has obtained a perturbation solution for the entire
Peclet number range assuming flow to be potential, He alsc believes
that the constant term is not necessarily 2.

Theoretical solutions indicate that for boundary layer flow the
coefficient B in equation (2.2-17) is about 0.6 and if the same equa-
t%on is used for low Reynolds number B should be slightly higher.
However, a correlation of this type covering a wide range of Reynolds
number in the low range is not very accurate and hence this type of corre-
lation should be used over a restricted range of the Reynolds number with

different values of B. Experimental data supports this view and the



. 51

value of B for 10 < ReS < 100 seeﬁs to be between 0.75 and 0.85.
Disagreement abounds in the literature amongst various experimental
workers. A number of workers use the average velocity instead of the
approach velocity in their interpretation and these may vary by a factor
of 2 for a parabolic velocity profile. Liquid-solid systems tend to
show a ﬁigher mass transfer rate than gas—-solid systems for the same
flow rate due to a generally higher Schmidt number in the former. This
reflects an inherent difference betﬁeen these two systems particularly
at low flow rates. In some cases the value of the diffusion coeffici-
ents were not known accurately.‘ Also the use of cast organic acid
spheres could have caused some g&ain dropping and this would explain the
somewhat higher results that have been observed using éuch particles.
Surprisingly, not all workers made simple direct measurements. For
example, mass loss was often determined by photographing the diminishing
particles instead of direct weighing. Almost all workers using solid
spheres used fixed spheres and the effect of sphere support is not known.
ther effects, such as free convection and turbulence which are diffi-

cult to account for or to eliminate were often present to a varying
degree., .
' The situation in multiparticle systems is not clear. Even the
limiting value of the Sherwood number in a bed of particles remains un~
answered. Some authors believe that the limiting value of the Sherwood
numbér in a bed of active particles is less than 2 and tends to zero
for an infinite number of particles. . It appears that this concept is-
probably true only at zero flow rate, but for wvery small flow rates, equa-
tion (2.3-4) may be used as a first approximation.

Various models have been suggested to predict theoretically the heat

and mass transfer rates in a multiparticle assembly. The most widely

used models are the cell model of Pfeffer (61) and the boundary layer



model of Carberry (9) although the difference between the predicted
results using these two models in the range 10 < Res < 100 is possibly
within thé limits of the precision of some of the experimental data.
However, some basic differences between the two models can be easily
seen.,

Thé complex term in equation (2.3-8) for the cell model is roughly

equal to 1/e (88) and the equation may be written as

sh = L1206 p.1/3 g1y3 (2.4-1)
m € S

For a fluidized bed, using the Richardson—-Zaki correlation (64)

ReS/Reo = €N, equation (2.4-15 can be written as
sh ' = 1.26 Rei/N Re:/B_llN sct/3 (2.4-2)

where Re0 is the terminal settling Reynolds number. Similarly equa-

tion (2.3-13) can be written as

1/28 Reilz—l/ZN Sc1/3

Sh = 0.974 Re
m o

(2.4-3)

For N = 3, which would be a representative value in the range of Reo
of interest, the cell model predicts a constant value of the Sherwood
number at all values of Res whereas the boundary layer model predicts
Shm « Re;’s. Experimentally this dependence of Shm on Res has been
found to be between these two limits, The cell model employed by
Pfeffer (61) and the hydraulic radius model of Kataoka et al. (43) agree
quite closely at low voidage (within 77 at € = 0.4) but large deviatioms
occur as the voidage is increased (about 257 at € = 0.8). The channel-
ling model of Kuni et al. (46), though satisfactory in explaining some
very low Reynolds number results, is in clear disagreement with the other
models., Since the channelling model is not very realistic in a physical

sense any agreement must be considered fortuitious.



Relatively little data is available in the range ReS < 50 especi-
ally for 1iquid.f1uidized beds. Detailed stiudies of a single particle
iﬁ aﬁ assembly of particles suggests that flow around particles may be
approximated to boundary layer flow.

The mo§t important source of error in multiparticle work is the de-
terminaﬁion of surface area, especially for small particles of irregular
shape that are frequently used. Direct or indirect determinations using
pressuré drop data are usually subject to significant errors. TFree
convection and dispersion effects_may also have been present in some of
the experiments. Also difficulties are experienced in determining the
.concentration and temperature at the surface of particles. In general
fluidized bed data tends to show more scatter than fixed bed results
and this is due to the uncertainty of voidage determinations. Finally

turbulence is an effect which is difficult to take into account.
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- 3. CHOICE OF THE EXPERIMENTAL SYSTEM

- The object of this work was to obtain reliable convective mass
transfer data in liquid fluidized beds in the flow Reynolds number range
(Res N 20). The following types of study are possible in a multiparticle

system:

1. Local and/or overall studies around a single particle in a

multiparticle assembly.
2.  An integral analysis of the entire multiparticle system.

The first of these studies is more fundamental, since this would yield

. detailed and éverall knowledge of the multiparticle system, but experi-
mentation is difficult. The latter is of direct interest for design
and is slightly easier to perform experimentally. Unfortunately, pre-
cise data. in such studies is often obscured by effects such as axial and
radial dispersion which have a pronounced effect on the rate phenomena
and are difficult to account for. In view of the more practical rele-
vance, overall mass transfer data has been obtained in a liquid fluid-
ized bed using a shallow bed to eliminate liquid mixing effects.
Although many different solid-liquid systems could be used for this pur-
pose, an ion exchange system is chosen here because it possesses several

excellent physical characteristics. The important advantages are:

1. The ion exchange particles are spherical and particle size
changes only slightly during the mass transfer process and therefore

the total surface area is accurately known.

2. Reliable measurements can be made at low concentrations of the
exchanging ions resulting in negligible natural convection and negligible
mass flux effects on the mass transfer coefficient. It may be mentioned

here, that the interference of the above mentioned factors was possibly
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responsible for the uncertainties in some of the fixed and fluidized
bed work mentioned previously. | . .

| Although ion exchange systems are suitable from the physical point
of view, the interpretation of data is considerably more difficult and
this may offset some of the important advantages already mentioned.
This is because the driving force for the diffusional flux consists of
two terms, one due to a concentration gradient and the other due to an
electric potential gradient arising as a result of the unequal mobility
of the ions. For the experimental work, it will be seen that a neu-
tralization type reaction constitutes a very suitable physico-chemical

system. In particular the following ion exchange reaction was chosen:

Rt + matow »  RNa' ¢ H,0

where R is the negatively charged solid matrix.
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4, THEORETICAL

4,1, - Mass transfer from a single solid sphere by forced convection

" involving ion exchange reactions

A detailed description of diffusion in ion exchange systems is given
in Appendix A.l and A.2. Eqﬁation (A.2-4) shows how the diffusional
fluxes for a binary ion exchange system involving counter—-ions 'A' and
'B' aﬁd co-ion 'C' in the solvent 'S' may be expressed in terms of
only the concentration gradient of one of the species. To obtain an ex-
pression for the diffusional flux of a particular species it is convenient
to consider specific ion exchange reactions. Here two specific cases
are considered,

1. This case arises in a neutralization type of ion exchange reac-
tion. In such cases the counter-ion diffusing out of the ion exchange
particle phase is instantly consumed at the exchangerliquid interface so
that only one counter—ion is present in the liquid phase. " Then one may
Awrite |

J*¥ = 0, c, = 0, ' (4.1-1)

where 'B' 1is the counter-ion that is being consumed. The condition
that CB = 0 implies that component 'B' disappears to form some other
component and in this case must produce 'A', 'C' or the solvent obey-
ing the constraints (A.2-2) and (A.2j3) since the analysis has been
restricted to the aboée four components only. Using equation (4.1-1)
and equation (A.2-4) the diffusion flux for component 'A' may be

-

written as

oo o Eat I PasPes
A Z2c(Dpg * Dgg) A

~DVC (4.1-2)



. 59

X ‘(ZA'+ ZC) DAS Des
where D = 70 . FD_) (4.1-3)
' c*As T Tcs o

Equation (4.1-2) shows that the diffusional flux of component 'A' 1is a
product of its concentration gradient and the constant term D comprising
the effective binary diffusion coefficients of the ions 'A' and 'C' in
the solvent 'S'. This equation is similar to Ficks law of diffusion.
Constant D may be thought of as a coupled diffusion coefficient and can
be calculated from effective binary diffusion coefficient data. The pro-
blem of convective diffusion is then analogous to other solid-liquid sys-
tems which are characterised by constant diffusivity e.g. the benzoic
acid-water sysfem as discussed in Chapter 2.

2. In this case all the ions are present in the solution phase and
this represents a more general case of binary ion exchange. Here it is
assumed that the co-ion current is zero after co-ion shift occurs (37a).
This is the usual quasi stationary steady state assqmption. Thus for

this assumption
J%¥ = O, Z. # O 4.1-4)

Using equations (4.1-4), (A.2-3) and (A.2-4) the expression for the dif-

fusional flux of species 'A' may be written as

-

D,.D {zc(z+z)—zc(z—z)} .
' ASBS U"C’C*"B C AAMB TA
E3 = - -
J DBSC ve, (4.1-5)

¥/ CC(ZB+ZC) + ZACA(ZADAS_ZBDBS)

Again, the diffusional flux of a species can be represented by the pro-
duct of its concentration gradient and another term, but this time the
second term is not constant but depends in a complicated way on concentra-—
tion.

Since equation (4.1-5) contains both CA and C_, it will be useful

c

to obtain a‘relationship between these quantities. From equations
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(A.2-1,2,3) and (4.1-4) an additional relationship between C; end C,

may be written as

D
o 2,2 (25 - 1)
..dCC. BS
x™ " 5 c (4.1-6)
A 2 2 _AS _ A
(ZBZC + ZC) + (ZA ———DBS ZAZB) -(-:-(—:-

Integration of equation (4.1-6) between the bulk of the fluid and any
point in the concentration boundaryllayer gives the desired result.
Consider the specific case for z, = ZB = ZC' The diffusional

flux can be written from equation (4.1-5) as follows:

= = —— T (4.1-7)

where a = — =]

r— C Ji
Ab
o —— + 1
Cc Ccb
B = = —— (4.1-8)
Cb A
a E- + 1
L C
where C and C denote the bulk concentration of species 'A' and

Ab Cb

'C' -respectively.
The steady state continuity equation for ions 'A' may be written

as (7a):

ViVp, = - V.j (4.1-9)

A

In dilute -solution v = v* ‘and jA = M J Using equation (4.1-7),

* .
A"A

the continuity equation in spherical coordinates may be written as
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v, B-(-:-é + v, -BE-A— - L2 . ZDAS r? "h (4.1-10)
r or 8 26 £2 9T, uCA/CC f 2 or and
: (A.3-1)

where r and 6 are radial and angular coordinates and v, and v,

the corresponding velocity components. The boundary conditions are

r = R, CA = CAR (4.1-11)
and
r =R+b, CA = CAb | (A.3-3)

where R 1is the radius of the sphere and b the thickness of the con-
centration boundary layer. In writing equation (4.1-10) it is assumed
that -the concentration boundary layer is thin which will be true if the
Peclet number of the system is higﬁ.

Equation (4.1-10) is non linear and contains two dependent variables
CA and CC linked by a quadratic relationship (sée equation 4.1-8).
An exact solution seems difficult and hence an approximate -solution will
be attempted. The method of solution is based on an integral method
of analysis due to Friedlander (18) and has been mentioned in Chapter 2,
The detailed solution is given in Appendix A.3.

In this method, equation (4.1-10) is partially integrated across
the concentration boundary layer and an assumed concentraticn profile is
substituted into the resulting equation. This assumed conceatration pro-
file should satisfy as many boundary conditions as possible so that the
assumed and the actual profile will match fairly closely. Since there
are two concentration terms, i.e. CA and CC’ it has been found conven-
ient to work with a new variable, called the equivalent fraction and

defined as follows:

()

. A (4.1-12)
= B and

y
CA c (A.3-11)
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To obtain an expression for the mass transfer coefficient a local mass

transfer coefficient Kv(e) has been defined:

T% D= - -
JA Kv(e) CCb(yAR yAb) (4.1-13)
x=0 : and

(A.3-29)

where the subcript v in KV(G) is used to denote the fact that tﬁe
diffusion coefficient of the system is not constant and x = r-R. This
definition of the mass transfer coefficient was originally suggested by
Snowdon and Turner (73) who also pointed out that although CCb(yAb-yAR)
was not the true driving force, since CCb # CCi’ it was a convenient
measure of it. The mass transfer coefficient averaged over the whole

surface of the particle is designated f; and the overall mass transfer

coefficient is given by the expression as follows:

213
. D213 T
T = AS F \J- ¥ sine d 4.1-14
KV = 1.31 —-2—’—3— f IIJR sing de , 4. . )
d o and
(A.3-31)

where Y is the second derivative of the stream function at the surface
R

of the sphere and F 1is a complicated function of Yap? and o and

VAR
is given by equation (A.3-32). The quantity F has the following

limits:
o P (1 173 -
y >y > s + =75
AR Ab 12, (4.1-15)
and
y >y > 1 F o 1 (0+2)1/3 (4.3733)

Equation (4.1-14) can be written in a modified form as follows:

213
Let Fl =

and Deff = DASFl (4.1-16)
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Then equation (4.1-14) can be written as

273

p2/3 U
= £ff .
K = 131 = -y sing d6 4.1-17
. T IS ( )
o
This expression of the mass transfer coefficient where E; o Diég is

similar to cases for which the diffusion coefficient is constant. The
diffusion coefficient Deff given by equation (4.1-16) can be thought
of as the effective diffusion coefficient of the system and may be used

in the dimensionless correlations.

4.2. A model for forced convective mass transfer in a multiparticle

assembly

The various theoretical models for multiparticle systems have been
discussed in Chapter 2. It is clear from this review that any exact
descripfion of momentum, mass and heat transfer in multiparticle systems
is very difficult and at best only modest agreement betWeenAtheory and
experiment has been found. The success of any theoretical model depends
on how closely it represents the actual physical situation. Most of
the models were primarily suggested for fixed beds and despite the fact
that voidage was recognised as an important variable, none of the models
predict the dependence of the mass transfer coefficient on voidage suf-
ficiently well.

Various studies, particularly thé eﬁperimental work of Jolls and
Hanratty (41), Gillespie et al. (29) and the theoretical work of Leclair
et’al., (48) suggest that the flow in a multiparticle system is possibly
dictated by boundary layer theory even at low flow rates. This explains
why the overall Sherwood number varies roughly with the square root of the
Reynolds at low flow rates in multiparticle systems. An examination of

local mass and heat transfer values reported by the authors (41, 29) shows



that several boundary layer zones separated by regions of complex flow
patterﬁ exist afound a single particle in an érray of other particles.
Iﬁ a fixed bed the number of such zones may be two or three. The flow
in these zones is dictated by laminar boundary layer theory since the
Sherwood number-Reynolds number relationship in these regions is very
close to a square root dependence. However, the local Sherwood number
in these regigns does not show a smooth variation as it does for a
single ;phere. Outside these laminar boundary layer regions, the
experimental studies shed little light’except to indicate the complexity
of the flow pattern. There is however no work available at higher void-
_age which wouid show, how these boundary layer regions depend on the
voidage. It may be argued that the number of individual zones showing
laminar boundary layer characteristics would decrease as voidage in-
creases. _ However, these individual regions would occupy a larger por-
tioﬁ of the surface of the sphere, i.e. the length of such zones would
be greater at higher voidage than at lower voidage. Thus the length of
the boundary layer regions are in some way related to the voidage and
this explains why the boundary layer model of Carberry (9) has not been
able to determine the dependence of voidage on transfer rates, although
it has been successful in explaining fixed bed results which were mostly
carried out at a voidage of about 0.4.

A modification to the boundary layer model proposed by Carberry (9)
is now proposed. In a multiparticle assembly, Carberry suggested that
the point velocity relative to the average interstitial velocity could

be described as follows:

815 x4
= — (4.2-1)
i VZy

——

u.
1

where x; 1is the distance perpendicular to flow, z; is the distance in



the direction of flow, Ui is the interstitial velocity = Us/e

wbere ‘US is the superficial velocity and v is the kinematic viscos-
ity. From boundary layer theory for flat plates and assuming that the
velocity at the boundary layer edge is twice the interstitial wvelocity
the author Bbtained the constant of the above equation.

In view of the approximations that have been made in applying planar
boundary layer theory to a spherical particle in an assembly of other
spheres and the fact that such systems do not show a simple flow
pattern, it seems that a more rational'approach would be to determine
the approximate form of the functional dependence of various groups and

.to determine the constant from experimental data, which hopefully would
compensate for some of the weaknesses of the model. With this in mind
it is here postulated that instead of equation (4.2-1), the velocity

relative to the average interstitial velocity is represented by

G1x; -
3 = —— (4.2-2)
1 vzi
7.
1

where G; 1is a constant. Using the solution given by the author (9),

the mass transfer coefficient Kc is given as

213
G2DAS

K = , ' (4.2'—3)
(leui)i \)1/ 6

where DAS. is the binary diffusion coefficient taken as constant
between the diffusing species 'A' and solvent 'S' and E; is the mass
transfer coefficient for this constant diffusivity system defined in
terms of a concentration driving force.

Carberry (9) assumed that the length over which the boundary layer

development_ occurred is equal to one particle diameter. He based this
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on the mixing data available for gas and liquid fluidized beds. It
has been mentioned earlier that the length of boundary layer regions is
expected to depend on voidage in some way. This dependence is proposed

by the simple relationship

Zl « gd

= G3 [ d (4-2-4)

Using the above expression for z 1in equation (4.2-3)

L 2t8
—_ GHDAS
Kc = 1
(ed/Ui)i v1/6
and from Ui = Us/e the above equation can be written as
RellZ
Sh = G, Scli3 (4.2-5)
, du_p . Kd
where Re =. —, Sc¢ = —%—— and Sh = 52— .
H PPas o AS

The constant G, may now be determined experimentally and should be
constant for a wide range of solid-liquid system. Also, since equa-
tion (4.2-5) is proposed for the entire range of voidage, it should be

possible to determine the constant G, from single particle work.

4.3. Theory of experiment: Evaluation of mass transfer coefficient

from experimental data in a shallow liquid fluidized bed

The mass transfer coefficient in a multiparticle system can be
obtained by a differential macroscopic (87) mass balance. The rigorous
derivation of the macroscoﬁic field equations is difficult and recently
several workers have devoted their attention to this subject (87).

In a two phasée fluidized bed, the variables vary both in space and time
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and the average field equations can be obtained in.several ways.
Panton (58) obtained the average equations for a two phase system by
first averaging the variables with respect to a local volume which is
large compared to the solid particles and yet small compared to the
dimensions of the containing vessel. Anderson and Jackson (2) do the
local averaging in a region containing many particles since this
smooths out fluctuations in space and time and hence the region is
larger than that considered by4Pan£on (58). At the present time there
is still ;ome controversy amongst workers about the averaged equations
and in particular about the avéraged equation of motion. It_is to be
noted that any averaging, whether with respect to time, area or volume
will involve some sacrifice of detailed information and this is usually
compensated for by some kind of empiricism. For ekample, consider a
single phase fluid in turbulgnt flow. The averaging is done with res-
pect to time and as a result some‘néw terms known as the 'Reynolds
Stresses' appear in the equation of motion for which an empirical data
correlation is used. Similarly, if a solute is introduced to a solvent
flowing in a tube at some point in the stream and it is desired to deter-
“mine the concentration of the solute as a function of time and position,
then the usual approach is to average the continuity equation for the
solute over the area‘of the tube. The result would be an average con-
tinuity equation in'the axial direction where in this equation the dif-
fusion flux is replaced by a longitudinal dispersion flux.

The macroscopic mass balance equation for a component in a fluidized
bed in the most general case may be quite complex and difficult to solve.
This is chiefly due to the effect of longitudinal dispersion, which is
empirical in form and the dependénce of the solid-fluid interface boun-—
dary condition on bed height. However, in a shallow liquid fluidized

bed, the following reasonable assumptions may be made and this yields a
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relatively simple equation., It may be assumed that:

1. - The liquid in the bed is in true plug flow i.e. there is no
liquid mixihg.

2, The solid is perfectly mixed and hence the equilibrium solid-

liquid interface composition is the same everywhere in the bed.

3. The solution is dilute, so that the flux across the solid-
liquid interface is effectively a diffusional flow, i.e. no bulk flow
through the interface. Hence the flux across the interface can be des-
qribed in terms of a mass transfer-coefficient which requires no further

correction due to mass flux effects.
4, The flow is one dimensional.

In view of assumptions 1 and 4, the fluidized bed can be treated by
the method suggested by Bird et al. (76). A fluidized bed is a system
in which the solid and liquid phases are continuous and exist side by
side with the fluid flowing in the axial direction having a flat velocity
profile and allowing transfer of mass between the two phases. Admittedly,
this is a bold assumption, but the final equation is thé same when proper

-

averaging is done (87).

Fig. 4.3-1: Schematic representation of a fluidized bed.
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With the other assumptions mentioned above, a mass balance equation
for a volume element for a component 'A' in‘the fluid phase can now be
written. Since the mass transfer between the two phases can be written
in terms of a mass transfer coefficient it will be convenient to consider
whether or rHot the diffusivity of the component is constant. Here, the

two cases are considered separately.

1. For constant diffusivity, the mass transfer coefficient is a
constant throughout the fluidized bed at a given flow rate. A mass
balance equation for this case, may be written for component 'A' as
follows:

oC aCAb

Ab _ 3(l-¢) = - = -
5t g Ko (CpapCag) U 32 (4.3-1)

- €

It may be noted here that the transfer of component 'A' from the fluid
to the solid phase is considered and thus the driving force is written
(CAb - CAR) 1ns§ead of (CAR - CAb)' Also Fhe mass transfer coefficient
is given the subscript 'c' to denote that the diffusivity of the system
is constant and hence the mass transfer coefficient depends only on the

fluid mechanics. Here € 1s the voidage, t 1is the time, 2z 1is the

axial coordinate and US the superficial velocity. Because of assump—

tion 2, the solid-fluid equilibriun interface concentration CAR may be
taken as constant. For the following boundary conditions
i A
z = 0, CA = CAb )
)
e )
z = h, C, = Cpp ; (4.3-2)
i )
t =t z = h, CA = CAb )

where C-. and c°

Ab A 2T€ the inlet and outlet bulk concentration of 'A',

h 1is the bed height and tg is the saturation time i.e. time when the par-
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ticleg are completely loaded with species 'A' equation (4.1-1) has been

integrated (62) to obtain the following expression for the mass transfer

e
U Cc -C
. (-ﬁ- t -1;) In (-Jgi———lg&)
€ s k- ¢
T = Ab AR (4.3-3)

3(1-¢)
Th(t—ts)

coefficient:

For most systems of interest the variation of CAb

compared to space would be negligible when the first term in equation

with respect to time

(4.1-1) may be dropped. The equation then reduces to a very simple
ordinary differential equation. The expression for the mass transfer

coefficient then is

i
C - C
¥ = L 3, Ab_ AR . 3-4)
c S ct -c¢
Ab AR

where L = Us'A is the volume flow rate, A the cross sectional area

3(1-e)hA
R

in the bed. Equation (4.3-4) may also be obtained as a limiting case

of the tube and S = is the total surface area of the particles

of equation (4.3-3).

The chemical system chosen for the experimental work has been dis-

cussed earlier. The system chosen is

RH + Na'oH -+ RUNa' + H,0

which shows that an ion exchange particle in H' is treated with an
NaOH solution. The H' ions diffusing out of the particle phase will
be immediately neutralized forming the solvent provided that the 8
concentration in the solution exceeds 10—7M. This also means that ﬁa+
concentration at the liquidﬁpartiéle interface is zero. Since the fluid
phase has effectively one counter ion, i.e. the Na® ions, equation

(4-1-2) indicates that this system may be characterized by a diffusion
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coefficient which is constant. This system also has the advantage that
the effluent concentration in a fluidized bed should remain constant for
a given flow since the diffusion coefficient and the driving force re-
mains constant so that the total rate of mass transfer is constant. A
neutralization ion exchange reaction thus offers a definite advantage

. . . + .
to other ion exchange reactions. If component 'A' is the Na ion,
I3

then CNaR = 0 and equation (4.1-4) takes the simple form

i
CNab

e
QNab

T = % 1n (4.3-5)

c
Equation (4.3-5) has been used to evaluate the mass transfer coefficient
in this study. The expression for the concentration profile may be

written as

e
C C z/h
Mab | Nab (4.3-6)
i ok
CNab Nab
where C is the bulk concentration of Na® ions at a bed height z.

Nab
2, In this case the diffusional flux may be of the form given by
equation (4.1-5) in which case the flux is not represented by a constant

-~

diffusion coefficient. An example may be

-+

rRut + Na'cl” S RWNa + wclT

Such cases have been studied by Snowdon and Turner (73). Following their
method a mass balance can be written in terms of the equivalent fraction

as

8y - oy
Ab _ 3(1-¢) y = U ¢ Ab

“€ Gy 3% R v Ccb TapVar s Ccb 3z

(4.3-7)

ByA oy

For most practical cases of interest ¢ 3o << US 52 and the mass

balance equation takes the simple form
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Yy
Ab - - 3(1"5) T3 - -
Ussz ° R Ky Opp ™ Yar) (4.3-8)
The boundary conditions are
i
z = 0, s T Yab :
. (403_9)
e
z = h, I T Tap

Here i; is the mass transfer coefficient for the case where the dif-
fusion coefficient is not constant, Single particle mass transfer study
indicates that K& depends on Yt and yAg and hence integration of

‘ equation (4.3-8) is difficult. Snowdon and Turner (73) assumed that

f; could be taken as constant in equation (4,3-8) but when a comparison
with single particle mass transfer is to be made an average value of Yap
should.be used. Their study indicates that this approach is reasonable.

Integration of equation (4.3-8) with the above boundary conditions gives

Yo =V .

= L Ab ~ AR _ _

Kv = S in ._g..__—__._ (4.3 10)
Yab T AR

This equation is analogous to equation (4.3-4) where concentrations are

used instead of equivalent fraction.
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- 5. EXPERIMENTAL

5.1. Experimental criteria

For an accurate determination of the mass transfer coefficient in a
fluidized bed using equation (4.3-5) an experiment must be designed
which fulfils the assumptions made in obtaining this equation and in
addition provides an accurate measurement of the variables. The impor-
tant as;umption is plug flow of liquid in the bed. This is most closely
achieved by employing a shallow bed of 'particles since mixing of liquid
would be small in such bed. Also the velocity profile of the fluid in
‘a fluidized bed has been shown theoretically to be almost flat by
Taganov and Romankov (75). These authors considered the average equa-
tions of motion of the phases in a fluidized bed and presented approxi-
mate solutions of the flow profiles of the two phases. Graphically the

solutions for the average velocities are shown in Fig. 5.1-1.

Fig. 5.1-1: Velocity profile of the phase in a fluidized
bed

Fluid velocity
profile

Solid velocity
profile

Fluidized bed
wall

VN

The average fluid velocity profile may be considered roughly flat and the
velocity of the solid phases corresponds to a circulating flow indicating

perfect mixing of the solids. The averaged equations considered by these
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authors (75) contain fluctuating components which are difficult to assess
and various apprﬁximations have been employed to obtain the solution.
Héwever, this can give a rough description of the fluid mechanics of a
fluidized bed. Beek (6) points out that if the exchange between the
two phases is fast, no departure from real plug flow can be detected,
though this does not necessarily mean that actual plug flow is achieved.
The neutralization reaction used in the present experiments satisfies
this coﬁdition adequately. Perfect mixing of the solids is not an
important consideration, since the solid-liquid equilibrium concentra-
tion of Na' ions is essentially zero whether or not the solids are
‘mobile.

Equation (4.3-5) shows that the quantitigs to be measured are flow
rate, the total éurface area available for 'mass transfer and the inlet
and outlet concentration of the Na® ioms in the stream. An analysis
of error will indicate the quantities that require most careful measure-

ment.

If Q = f(gl9 g2y 83 eee) . (5.1-1) .

then the differential change in Q corresponds to a differential change

in each of the g's 1i.e.,

dQ = (—2—2—3 dgy + <§-§-2) dg, + <§§3) dgg + +.. (5.12)

If the differentials dg;, dg,, dgz etc. are replaced by small finite
increments bgy, bgrs, Agz etc. then AQ may be given to a reasonable

approximation by the expression,

= 2= + 2= + 2=
11 8] 3 Agy 382 Ago 383

A + ... 5.1-3
21 g3 ( )

where AQ and Ag's may be considered as the deviation of Q and g's

from the mean value.



Hence for a population N

B2 1g(af k4 LI ? ;
N Nz(agl bey * g2 B8z + 5, 83 ¥ ) (5.1-4)

2
Now by definition GQ = 1# Eﬁg— is the standard deviation of Q.

When errors in the g's are independent  I(Ag,.Agp.Ag3 ..) becomes zero

and equation (5.1-4) may be written as

' af |2 of (2 of 2
g, = % =) 62 + &) 62 + =) o2 o+ ...
J %1° g1 9% g2 98 g3

(5.1-5)

The relative error in Q defined as = oQ/Q then can be written as

Nq

1 of (2 of (2 of (2
= % = E) 62 + (=) 62 + (=) o2 o+ ...
nQ Q v 98 .81 8o g2 983 g3

(5.1-6)
The subscripts of o and n indicate the quantities for which the stan-
dard deviation and the relative error are evaluated. From equation
(4.3~5) the relative error in mass transfer coefficient can be written

“with the help of equation (5.1-6) as

= 2 4 n2 1 2 2
L i\/“L ng ¥ T 2(ﬂ i “‘e) (5.1-7)
c C C C
1 Na Na Na
n——e— .
CNa

It is easy to see from the above equation that the error in the mass

transfer coefficient depends naturally on the errors in the flow rate L,

the surface area -S, the inlet and exit concentrations Cﬁa and Cga
respectively but additionally on fhe ratio Ci /cs . If Ci /cS < e
: ' Na' Na Na’' "Na

then this ratio has an adverse effect on the error in the mass transfer

; . i .
coefficient,and—wiece—vexrsa, In the present experiments CNa/C;a is
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near unity and hence it is essential that n i and n o be very

CNa CNa

small to have a reliable estimate of the mass transfer coefficient. For

example, taking a typical set of values

L = 20 % .2 cm3/sec n, = .01
S = 400 * 10 cm? ng = 025
i,e _
CNa/CNa = 1.1
for n. = n = ,01, using equation (5.1-7)
ct e )

n= = * \[k.Ol)z + (.025)2 + 2 x ,0118 = %,15
C

and for n i = n e = ,001

CNa : CNa

ne o= \ (01)2 + (.025)2 + 2 x .000118 = +.031
(o

Thus, if a relative error of not more than 5% is to be tolerated in
_the measured value of the mass transfer coefficient, then the concentra-
‘tion of the fluid stream must be measured to within 0.1% provided of
course that the error in other quantities do not greatly exceed those
cited in the example.

" The concentration range for the NaOH sblution chosen for the work
is between 10—3 to 10-4 ). A low.concentration (& 10 2 {N) or
less) of the solution is needed to maintain a liquid film controlled mass
transfer mechanism. Additional advantages of soiution concentration are
that the Nernst Planck equation (A.1-12), is valid in this dilute range _
and there is negligible efféct of mass flux on the velocity profile and

a relatively long time to particle saturation thus allowing a series of
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experiments to be carried out easily.

The next step in the design of the experiment is to select a tech-
qique for the analysis of the solution. It was hoped to develop a con-—
tinuous analysis of the effluent stream since a batch method would be
very tedious. Consideration of the various standard techniques, viz.
titration, pH determination, photometric, radioactive and conductivity
method indicates that the most sui?able method of analysis would be the
last one. However, the continuous measurement of concentration by a
conductivity method to within 0.1% in a flow system poses many diffi-
cult problems, since the conductivity of an NaOH solution changes by
about 1.717% -per degree change in temperature. This would require
that the temperature of the fluid stream be maintained constant at a
desired value to withinabout 20.02°C and a high sénsitivity conduct—
ivity Bridge pfeferably of the hutobalénce type be used for the measure-—

ment.

5.2, General description of the design of the experiment

The design of a flow loop capable of maintaining temperature to
‘within +£.02°C is not easy. Indeed, a_considerable amount of time.and
effort was devoted to achieving this and finally a relatively simple
design was found to work. Most conductivity data is normally available
at "25° and 30°C and so it was felt that fhe flow loop should be de-
signed for this range.of temperature.

The general apparatus layout is shown in simplified form in Fig.
5.2-1. Distilled water from a laboratory reservoir is pumped by a stain-
less steel reciprocating pump [1] through a mixed bed deionizer [2] to

polythene-storage tanks [6] and solution tank [7]. Carbonate free con-

centrated NaOH solution is transferred under a nitrogen atmosphere to
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Fig. 5.2-1 : Simplified flow diagram of the fluidized bed equipment.
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the solution tank [7] to prepare about 452 10_3 to IOM+ (N) NaOH solu-
tion. Feed solution is then pumped by the stainless steel pump [10]
through ghe rotameter [11] and recirculated back to the feed solution
tank through the heater [14] which is controlled by the phase angle con-
troller [17] designed to the required sensitivity, a flow conductivity
cell [18] and a thermometer [197. After about 15 to 20 minutes, when
the temperature of the fluid at the heater outlet shows a predetermined
value, the flow at that point is divided into two streams. One flows
through the fluidized bed [22] via a small heater [20], a needle conduc-
tivity cell [24], flow monitoring stainless steel rotameters [127] fitted
with fine stainless steel needle valves [13] to either effluent tank

[8] or the drain. The other stream is recirculated as before. Tem-
perature sensing devices [16,19,25] are located at suitable points.

The flow line is of PVC tubing.

5.2.1. . Temperature control: It is not very practicable to maintain

the entire flow loop at a constant temperature to within £.02%. It will
suffice 1f the temperature of the fluid at the point where the conduct-
ivity is to be measured is maintained at the desired temperature level

to within *.02°C.  The recirculating loop mentioned above forms the
crucial part of the temperature control ﬁnit. In the main, it consists
of an all glass construction shell and tube type heater [14] through
which the fluid circulates. The heater is 18" x 3" and has twelve
1/8" dia glass tubes located axially. .In each tube is placed a coiled
nicrome resistance heating element [[15] with a heat resistant fibre
sleeve on each heating coil to ensure a smooth fitting with the glass
tube.  The resistance elements are suitably connected to give a maximum
heat output of about 750 watts and the voltage across the heating ele-
ments is controlled by the phase angle controller [17]. The fluid flows

thréugh the shell side of the heater and the temperature at the outlet is
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sensed by a platinum resistance thermometer [16] which is fed back to
the temperature controller. The controller in turn controls the
applied voltage across the heatiqg elements.

Initially,. the temperature controller is set to a desired value and
the flow recirculated through the heat exchanger and back to the feed
solution tank until steady state exit temperature of the fluid at about
0.1°C above 25° or 30°% depending on the temperature at which the
experimental run is to be carried out. A mercury in glass thermometer
C19] grad;ated to 0.1°% located at the exit of the exchanger, is used
for the visual indication of tﬁe temperature, In addition a flow con-
ductivity cell [18] is provided at the exchanger outlet. A steady con-
ductivity reading ensures that both temperature and concentration of the
fluid is uniform.

After a steady state coqdition is achieved, the flow is divided into
two streams and one of them is directed to the fluidized bed and the
other recirculated as before. The flow rate of these two streams may
be varied but their sum kept constant by adjusting of valves. This
allows a constant flow rate through the heater which can be checked by

“the rotameter [11], .but allows the flow through the fluidized bed to be
varied. In the present experiments a maximum flow of about 3.4 2/min
was possible, this being the maximum capacity of the rotameters [12] used
for flow control in the -fluidized bed. The flow rate through the heater
wasAabout 4 2/min for all experiments. A cﬁnstant flow through the
heater avoids any abrﬁpt transients in the system when the flow in the
fluidized bed is altered. Also, the location of the platinum resist-
ance thermometer [16] just at the exit of the heater reduces the sensing
lag and minimises the correction of the temperature of the fluid,.

As the stream passes through the fluidized bed the temperature drops

below that attained at the outlet of the heater. This drop in temperature
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will depend on the flow rate, the length of the flow line and the tempera-
ture of the environment. To attain the desired temperature at the point
where effluent conductivity is measured, some further heating of the stream.
may_be required. For this a small auxiliary heater [20] about 5 watt

in capacity is installed in the feed line to the inlet of the fluidized
bed and heavily lagged. The auxiliary heater [20] consists of a glass
tube forming part of the feed line with a resistance wire wound around it.
The applied voltage across this heater is manually controlled by a variac
[21]. The temperature of the effluent stream is measured by a calibrated
thermistor above the fluidized bed at a point close to the conductivity
probe. The thermistor is calibrated to within 0.01% against a mer-
cury in glass fhermomeéer graduated at .01°C  intervals. The resistance
of the thermistor is measured usiné the same bridge gsed for conductivity
measurement. The controller and the auxiliary heater are adjusted so
that the fluid temperature above the bed is 25 of 30°¢ at which all
but one‘set of runswas carried out. With the present equipment it is
possible to achieve a control of temperature to within *.02°C or better.
The only drawback is that every time the flow in the fluidized bed is
varied, the auxiliary heater setting requires adjustment and this may re-
quire several minutes before a new steady state condition is reached.

The temperature controller is set such that the thermistor readiné corres—
ponds to a value of ' 25°¢ or 30°C for a maximum flow rate through the
bed with zero auxiliary heater output. - The fluidized bed is surrounded
on all sides by a curtain of polythene sheet to maintain a roughly con-

stant condition of the immediate environment.

5.2,2. Construction of the fluidized bed: The fluidized bed is made of

multiple push-fit sections of perspex to facilitate easy dismantling and

fitting of the column., The middle sections are manufactured from a 3 in.
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_Fig. 5.2-2 : Sectional view of push-fit parts.
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dia perspex rod and the two end sections from 6 in. square perspex block
which are drilled to give an inside bed diameter of 2 in. The distribu-
tor is made pf 5n-1/8" thick sintered polythene disc (5 ﬁm porosity).
_The pressure drop through the sinter is much higher than the bed ensuring
;>ﬁhifg£m,iluidization. It was found that two such discs fitted with a
narrow ring of polythene sheet between them gave the best result as in-
dicated by visual observation. The polythene ring is placed such that
the sintered discs have a 2 in. dia uncovered area at the centre. The
sintered éiscs rest on a step cﬁt.in the columm and are held in place by
a thick flexible rubber sleeve ﬁade into a circle which in turn rests in
a éroove cut in the wall of the column and is similar in design to a
cirelip. This flexible rubber piece and the polythene ring avoid any
leakage through the side of the distributor. The Eolumn is shown in
figure 5.2-2. To help in obtaining a flat velocity profile the test
section is preceded by a 6 in. long iixed bed column of glass particles
of mixed size range and to reduce end effects the test section is followed
by a 3 in. long similar fixed bed. The fixed beds are supported on
single polythene sinters. Suitable arrangements have been provided in
fvarious sections for the introduction of temperature and conductivity
probes. The various sections are held together by means of brass
studding bolted from the two ends with PTFE gaskets placed between the

sections to prevent leakage.

5.2.3. Precautions:. Since NaOH solution is used, it is important that
the solution does not come into contact with air so as to avoid the ab-
sorption of atmospheric 002 thereby altering the equilibria of the
system and conductivity of the solution. For this reason the storage
and solution vessels are keﬁt under a nitrogen atmosphere by slowly
bubbling nitrogen from a nitrogen cylinder [3], this being indicated by

the nifrogen bubbles escaping in the trap [26]. No degassing of solu-
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tion was necessary. To prevent any blocking of the distributor plate,
which will cause an uneven flow, the deionized water supply line is pro-—
vided with a filter [5] having a porosity much finer than the porosity

of the bed support.

5.2,4, Measurement of the conductivity of the solution: The conduct-

ivity of the effluent was détermined by a needle conductivity probe and
measured by a Wayne Kerr autobalance Sridge [25] having a sensitivity

of 0.17. The needle probe [24] is 1 in. long and 1/8 in. dia and is
placed in a "T". junction, It was observed that if the probe was
disturbed the cell constant changed slightly. However, this was avoided
.by rigid fixing. The conductivity of the feed solution was determined
using the flow conductivity cell [18] or by the needle probe [24]., If
the latter is used the flow path must be altered such that the feed solu-
tion passés through the needle probe [24] and then through the bed in
down flow and then to the drain., Every time an experiment was carried
out, the cell constant of the needle probe was checked against the flow
cell [18] since the cell constant of the latter remained constant. Con-—

centration data can then be obtained from calibration curves.

5.2,5. Determination of particle diameter, surface and voidage:

The ion exchange resin particles used in the experiments were commeycia11y~
available cation heads (Zeo-Karb 225) having a DVB crosélinking cf 8
and 207. It is desirable to obtain a narrow size range to avoid segre-
gation of particles during fluidization and to determine the mean dia-
meter .of particles accurately. Dry sieving of resin particles must be
avoided since on subsequent wetting the particles tend to crack. Wet
sieving was therefore used and repeated sieving was necessary to obtain

a closely graded s;mple. The average diameter of the resin beads was

determined by measuring a few hundred beads from each sample using a cali-
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brated microscope. It is necessary that the diameter be known when the
particles are fully swollen since even partial drying may result in
sﬁrinkage.' For example, the difference between the diameter of a fully
swollen and an air dried resin in the H' form may be asr high as

157,  The particles were located on a glass plate of suitable design
and submerged in water for examination under a microscope. A typical
size distribution is shown in Fig..A.6—1. Since the average diameter
of the entire population was not known, a '"t" test was made. The
average diameter of the entire population was determinéd to better than
2% for a 957 confidence limit.

It is also known that the diameter of the particles changes as the
resin is converted from hydrogen to sodium form. The change in dia-
meter with loading isshown in Fig. A.6-2. It may fe seen from the
figure that the maximum change is less than 3% for the 8% cross-
linked and 1.57 for the 20% crosslinked resin. In mass transfer
calculations an average diameter between the two limits was used. How-
ever, at no time during a run were the particles completely converted
from one form to another.

The precise determination of'the surface area of the particles making
up a shallow bed is difficult. A displacement technique is not suitable
since the weight of fully swollen particles is required in this method and
this is not easily obtained. The surface area can be determined if the
settled volume of particles and the voidage are known. Since a small
volume of resin partiéles were used, this method is also difficult.
Measurement in a narrow cylinder gives an accurate settled bed height,
but not an accurate voidage, since the wall effect would be high. A
large diameter column is more saéisfactory, but this requires precise
bed height measurement., Further, the bed voidage is not usually known

though .reasonable estimation is possible. In the present caSe a more
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direct but much more laborious method has been employed. In this method
tﬁe resin.particles were carefully removed from the bed after carrying
out the mass transfer experiments and transferred to several sintered
glass-bottomed tubes and centrifuged till a constént weight of the samples
was recorded., Then the resin particles were transferred to a large petri
dish and left for several houfs and weighed. Several thousand beads were
then counted from the total population and weighed. From this weight
and thé weight of the total population, the total number of beads and
hence the total volﬁme when fully swollen was calculated.

Bed voidage was determined from a knowledge of the absolute resin
volume and the expanded bed height. Bed height was determined at a
given flow using a cathetometer. The constancy of the flow was checked

by direct measurement at least twice during a run.

5.2.,6. Determination of viscosity and diffusivity data: The viscosity

of the solution is taken as that of water, since at 10--3 to 10-u )
cﬁncentration of NaOH the difference in viscosity is negligible. The
ionic diffusivities were calculated using the Nernst-Einstein relation:
D, = B%E where u 1is the mobility of the ion solvent pair, T the
temperature and R the gas constant and F the Faraday constant. The
mobility data has been obtained from reference (16). The Nernst-—-
Einstein equation is valid for the limiting case of zero concentration
and hence appropriate correction was made to obtain corrected values of
diffusion coefficient. However, any correction in the range of concen-
tration 10_3 to 10'” (N) 1is small as may be seen from the Schmidt num-

-

bers in tables listed in Appendix A.5.



5.3. Measurement of axial concentration in the fluidized bed

‘The axial concentration in the bed was determined iﬁ order to check
the assumption of plug flow of liquid in the bed.. This was done by
witﬁdrawing.Famples of solution by means of hypodermic needles. To
achieve this, several small holes were drilled into the wall of the
fluidized bed and closed by small silicone rubber bungs. Care was taken
not to project the bungs into the interior of the fluidized bed and the
holes were sealed by a soft resin so that a smooth surface was maintained
within the bed by'wiping away the éurplus resin with tissue paper soaked
in carbon tetrachloride. Thin hypodermic needles were then pushed into
‘the bungs so that the end of the needles nearly crossed the thickness of
the wall. The other push fit units were then assembled and the run
started. After steady state was achieved, a needle was pushed right
into the bulk of the stream and a sample was withdrawn into the syringe.
It was necessary_for the sample to be withdrawn very slowly so that dis-
turbance of the bed was aslsmall as possible. After each sample was
collected in the syringe, the needle was withdrawn to the original posi-
tion and the syringe removed for the analysis of the solution. In this
way several samples were collected from different axial positions. The
position of the ;robes was determined by carefully locating the projected
needle in the bed by a cathotometer. The samples were analysed for
Na® content by an EEL flame photometer in view of the lack of a suit-
able constant temperature bath. The maximum full scale reading with

s 3 . +
this instrument as quoted by the manufacturer is 5 ppm Na  and hence

dilution of the samples was necessary for the analysis.
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5.4. Single particle mass transfer experiments

In order to obtain a better understanding of the multiparticle mass
transfer results>some single particle experiments were carried out using
the same physico-chemical.éystem. The experiments were carried out by
allowing single resin particles to fall in a tall column filled with
dilute NaOH solution. A schematic diagram of thevequipment is shown
in Fig. 5.4-1. The equipment consists of a 2 in. dia 5 feet long glass
column [1] fitted with a suitable valve arrangement for washing and col-
lecting of the particle and feed solution and deionized water tank with
associated pumps and tubings, The most important unit in this equipment
is the two way valve [2] with a sweep elbow type passage in the stopper.
This valve, designated valve 1, separates the solution column from the
wash unit. Tt serves to feed the solution to the column, is the exit
end of the washing section [4] and initial collection chamber for the
particle. The other two way valve [3] with a tee type passage in the
stopper, designated as valve 2, is used to feed deionized Qater into the
washing section.

The column ié fitted with an easily removable end [5], and is filled
with dilute NaOH solution of known concentration through valve 1.

After filling the outlet end is removed and a rubber bung placed at the
column end to avoid any contact of the solution with the atmosphere.
Deionized water is then introduced into the washing section through valve
2 and expelled through valve 1, and botfom of the fritted end column, so
that the entire wash unit including the passage of the stopper of valve 1
is thoroughly washed and contains deionized water only. A needle con-
duct}vity probe [6] is located just below the valve 1 to detect any
possible contamination of the deionized water with feed solution from the

solution column.



Fig. 5.4-1 : Flow diagram for single particle mass transfer study.
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A resin particle is converted to ﬁ+ form by passing a large excess
of aci& and thoroughly washed with water is then selected and its dia-
meter measured with a calibrated microscope. The particle is then taken
on the thin tapered end of a glass rod; the adhering moisture in the
particle is sufficient for sticking. The rubber bung at the top end of
the solution column is removed and the glass rod with the particle is
just dipped into the solution of the columm., The dipping of the rod is
done very carefully, the object being to drop the particle into the solu-
tion. Almost immediately the particlé reaches its terminal velocity and
falls steadily in the column. When the pafticle is almost at the bottom
.end, valve 1 is adjusted so that the particle drops into the passage of
the stopper of the valve which is filled with deionized water and the
stopper immediately rotated so that the particle falls into a pool of
deionized water and finally sgttles in the fritted end glasscolum. The
particle is now given another thorough wash before the fritted end colummn
is separated for the removal of the particle for analysis. The tempera-
ture of the solution and the time of fall of the particle in the glass
column 1s noted.

The mass transfer coefficient can be calculated from a mass balance

on the particles A mass balance gives

d ) = 4me% ) | 4
It (vR CNa) = 47R K, (CNab CNaR) (5.4~1)
where vR' is the volume of the particle, Eﬁa the solid phase concentra-

tion of Na. Since CNab’ the bulk solution concentration 1s constant

and CNaR =0

: Na te
— _ 9 =
R f d Na 4mR Kc CNab f dt

(o} o

[@]
|
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or, ' Wi 4aR K. Cuab b ) (5.4-2)
where Wﬁé is the total amount of Na in the particle and te the

time of fall of the particle in thevcolumn. Thus, the total amount of
Na' transférred to the particle must be estimated in order to determine
the mass transfer coefficient.
The estimation of the amount of sodium in a small resin bead is

difficult. The amount of sodium in a bead is about 10 7 to 10™° gm.
Wet chemical methods are not attrgctive because of the low concentration
and also because a suitable solvent cannot be found to dissolve the par-
‘ticle easily, Radioactivation analysis is attractive, but the prepara-
tion of standards is not easy. For these reasons, a spectro chemical
method was used. A straightforward standard technique was employed for

this, the details of which are given in Appendix 4.
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- 6. RESULTS AND DISCUSSIONS

6.1,  Fluidized bed

The following relationship is assumed valid in a multiparticle bed

Shm = ¢1(Res, e; Sc) (6.1-1)

In the above equation the voidage ¢ 1is included as an approximate method
of accoLnting for the effect of other neighbouring particles on mass and
heat transfer. Voidage alone, does not describe the entire structure of
a particulate assembly, For example, it is possible for an assembly of
_particles to have the same voidage and yet a completely different arrange-
ment of particles., However, if the structure of the bed is the same
over the entire range of voidage then the above equation would be a good
representation for a multiparticle assembly.

For a fluidized bed, a further relationship is valid, assuming

negligible wall effects (64),
g = ¢2(Res, Reo) (6.1-2)

where Re0 is the terminal settling Reynolds number. Equation (6.1-1)

may then be written as
Sh = ¢3(Re_, Re , Sc) _ (6.1-3)

The terminal Reynolds number Re0 is a characteristic property of a fluid-
particle s&stem and is a precise parameter in correlating mass and heat
transfer results in a fluidized bed. It is notewarthy that Re0 charact~
erise; bed expansion (see equation (6.1-2)) and it has been successfully
used to correlate mixing data in liquid fluidized beds.

Again, on the basis of single particle work, one may assume that,

Sh = B Rel gcli3 (6.1-4)
m m S
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Equation (6.1-4) is similar in form to equation (2.2-17). Examination
of equation (6.1-3) indigates that the coefficient Bm and exponent q
" may depend on Reo. It is further'assumed that equation (6.1-4) holds
~good for the entire range of voidage including a value of unity corres-

ponding to a single particle in an infinite medium. Thus,

Sh "= B_Rel Scl/3
e+l R PSS
or Sh = B_Rel gcll/3 (6.1-5)
o m o ’
Now Shm + Sho, where Sho is the value of the Sherwood number at
e+l

unit voidage and hence corresponds to the case of single particle falling
at the terminal Reynolds number so that similarly Re > Reo.

>l
For a single particle settling at the terminal Reynolds number one can

write from equation (2.2-17),
Sh, = B; Rell2 scl/3 ‘ (6.1-6)

where the coefficient Bo is expected to be a constant over a limited

range of Reo. Equating (6.1-5) and (6.1-6),

0 P

- -q : -
B = B Re (6.1-7)

and using this relationship in equation (6.1-4),

112 Res q .
Sh_ = B Re = Scl/3 (6.1-8)
0

The conventional jm factor can be written as

Sh
m

Re Scl/3
S

j -
= B Re? 4 Re: 1 (6.1-9)

Lde
n

Thus, the important quantity to be determined is q since at least some
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idea of -Bo may be obtained from a single particle study. However, it
wou}d ﬁe better to determine the value of Bo. from fluidizgd bed data
and compare this with the value obtained from single particle studies,
since a number of assumptions have to be made to obtain the value of Bo
from fluidized bed data.

Tﬁe jm factors against Res plots for a range of Re0 are shown
in Figs. 6.1-1 to 6.1-6 and the data is tabulated in Appendix A.5.
Visual ;xamination of the data in these Figures indicates that the experi-
mental data in the higher range of Re; can be readily correlated by a
single straight line on logarithmic coordinates. Extrapolation of the
.correlating lines to low values of ReS shows that the experimental data
falls well below and suggests a lowering of mass transfer. From the
Figures it may be seen that this deviation occurs for data lying below
about Res/Re0 < 1/6 or at a voidage below about 0.55 though this
choice is somewhat arbitrary. The correlating 1in¢s (shown as the solid
lines) in the Figures include only those data for which the open symbols
are shown énd usually these points lie above ReS/Reo > 1/6 and the closed
sy;bols lying below this value are not included in correlating experimental
data. From the slope of these curves, whicp is (1-q), gq can be
obtained. The- values of q are plotted against ﬁeo (open symbols)

in Fig. 6.1-9 using logarithmic coordinates and tabulated in Table A.5-B.

A correlation, gq = 0.5 Re;O'S, can be written as a convenient equa-~
tion, the least square fit being ¢ = 0.495 Re;O‘3O7. It may be seen

from Fig. 6.1-9 that when the entire data ipcluding the low Re_ range is
used to obtain the values of q mno suitable correlation between ¢q and
Reo can be obtained. These points are shown as closed symbols in Fig.
6.1~-9.

The deviation of the data at low voidage may also be seen in the work

of Chu et al. (11) and Conderc et al. (14) shown in Fig. 6.1-7 and 6.1-8,
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The latter authors' data shows this quite clearly. It is possible that
jm does change smoothly with ReS over the entire range, i.e. a smooth
curve can be drawn in some cases, especially in Figs. 6,1-2a, 2b. How-
ever, all the data except in Fig. 6.1-1 have been correlated by a straight
line in the range Res/Reo > 1/6.. In Fig., 6.1-1 data has been correlated
for Res/Reo > 1/7.5, but as ﬁentioned earlier this choice is somewhat
arbitrary and almost tbe same correlation could be obtained in this case
also for data points at Res/Reo > 1/6.,

The reason for é difference in the mass transfer behaviour at lower
voidage, i.e. voidage corresponding to Res/Reo = 1/6 which is about 0.55
for the present cases, may be explained by the fact that at low voidage,

a fluidized bed tends to maintain an ordered arrangement in which indi-
vidual particles are arranged in lines parallel to the main flow compared
to the random arrangement at higher voidage. This ordered arrangement
at low voidage effectively shields part of the particle surface to flow,
with the result of a.decrease in mass transfer. The existence of an
ordered structure in a fluidized bed is known and hés been clearly demon-
strated by Gunn and Malik (33). These authors measured the drag coeffi-
cient for different arrangements of spheres and compared theé results with
those obtained in a fluidized bed over the entire range of voidage for a
large range of flow. They found that at low voidage, the fluidi;ed bed
could be closely ideﬁtified to an ordered arrangement in which the particles
were orientated in lines parallel to the main flow, This string-like
arrangement would partially shield the particles explaining a lowering of
the drag coefficient in a fluidized bed. Classical work of Rowe et al.
(66) on drag measurements and that of Peltzman and Pfeffer (59) on mass
traﬁsfer shows that an axial arrangement would lower drag and mass trans-—
fer coefficients. The latter authors referred to this as the "area

blockage effect".- As the voidage of the bed increases, the corresponding
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Reynoldg number increases and the ordered structure of the bed tends to
disappear; This is due to inherent perturbations originating in tﬁe
fluid itsélf. The progression in disorder is probably due to increased
inertial forces and increasing turbulence, the strength of which would
grow with increase in the Reynolds number. Gunn and Malik (33) concluded
that at a Res of 0.1 and 10 the corresponding voidages at which a
random structure would exist would be above about 0.9 and 0.8, At a
Res of about 103, there woulq be little trace of any ordered structure
in a fluidized bed. In this work, the mass transfer results at a void-
age above about 0.55 are well correlated suggesting a uniformity in
structure., Since the experimental data fall below the correlating lines
for voidages below about 0.55 it could be argued that this reduction is
due to an "area blockage" effect because of a string-like arrangement of
particles. Above this voidage or Res/Reo > 1/6 the particles are ran-

domly oriented and an inérease of mass transfer occurs. In this study

it is difficult to know exactly where the transition from order to dis-
order occurs éue to a lack of data at sufficiently close intervals.

Also, of course, mass transfer rates are less sensitive to-geometric
arrangements than are drag measurements. For example, in an axial
arrangement of two spheres, no observable difference in mass transfer may
be noticed when the spheres are 2 to 3 diameters apart. An éffect
would be observed in drag coefficient measurements even if the spheres
were about 9 diameters part. However, the present mass transfer re-
sults give an indication that at low voidage there is a tendency to form an
ordered arrangement of particles which is being destroyed as the voidage
increases due to increased flow perturbations which disturb' the fine
balance of forces needed to maintain an ordered structure. This possibly

justifies the neglect of data in the lower voidage range in obtaining a

suitable correlation, since the task would otherwise be difficult. It
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therefore appears that voidage effects can be used to account for the
effect of other particles at Res/Re0 > 1/6, thus justifying the use of
equation (6.1-1) in a fluidized bed.

The values of B0 for different Re0 obtained from fluiﬁized bed
experiments are tabulated in Table A.5-8. It is seen from the table
that the value of B0 is almost constant except for Reo = 20.09 and an
average value of 0.857 1is taken.l The one exception when B0 = 0.742
is possibly due to an error in the determination of the volume of particles
in the be&. This point can be checked if reliable bed expansion data
.are available. The bed expansion characteristics are shown in Fig.
6.1-10 and compared with the Richardson-Zaki correlation (64) in Fig.

6.1-11. The Richardson-Zaki: correlation is

Re N
iz; = g , (6.1-10)

where N = 4,45 Re-;o'1 for 1 < Reo < 500. In Fig. 6.1-11 the value of
d3p(ps-p)g
N 1is plotted against Re0 or equivalent Ga where Ga = ——=—— and

u2

compared with the experimental values which are obtained by correlating
observed voidage data shown in Fig. 6.1-10. Again, in this correlation
fthe lower voidage range data is neglected. Comparison of the predicted
and calculated values of N shows that the bed expansion data is not very
reliable. This is thought to be due to the small bed volume used in the
experiments which makes bed height measurements difficult because of the
uneven surface of the fluidized particles.  Further, the cathetometer
used to determiﬁe the'bed height did not have good resolving power making
focusing of the instrument difficult. Thus the value B0 = 0.742 for
Re = 20.09 1is not reliable. However, this is_not serious, Since the
value of _ Bo is reasonably.consfént for all other Re0 and the volume

of the bed does not effect the value of q as this depends on the ratio

of inlet to outlet concentration of the fluid stream. Thus the correla-
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. 1.0 Fig. 6.1-11 : Axial concentration profile
in a fluidized bed
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tion suggested for a liquid fluidized bed is;

Re q
Sh = 0.86 Rel/2[ 5] gcl/3 (6.1-11a)
m : o] Reo )
where ) q = 0.5 Re;0'3 : (6.1.11b)

Tﬁe reiiability of experimental data may be seen from the jm
against Res plots which are plotted on appreciably expanded logarith-
mic coordinates. Also, the two sets of experiments shown in Fig. 6.1-2a,b
are almost identical in every resﬁect except for a slight difference in
the volume of particles and were conducted at two different times (more
" than 3 months apart). The effect of bed height on mass transfer may be
seen from Table A.5-5 for which case the experiments were carried out
with the bed volume nearly doubleg. The value of Bo and q for this
case agree well with other data.

Two axial qoncentration profile measurements are shown in Fig. 6.1-11,
which are in agreement with the predicted profile as given by equation
(4.3-6). The profiles seem almost linear. This is because fhe ratio
of inlet to outlet concentration is close to unity. However, the data
are too few to check the reliability of the measurement,

The value ;f Bo = 0.86 obtained here from fluidized bed data is
withiﬁ the range of values reported for single particle work which has
been reviewed in Chapter 2. Note that the symbol B is used in single
particle correlations. The theoretical solutions of Ihme et al. (39)
and Al-Taha (3) are shown in Fig. 6.1-12. It appears that the former
authofs ﬁredict a value of B _abOut 0.85 whereaé the latter author pre-
dicts a value of B = 0.6 for Re greater than about 50 to 100.

The latter study also indicates that for the lower range of Re a corre-

lation of the form suggested in equation (6.1-6) is not suitable, but if
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a correlation of this type is sought then B would lie between 0.6
and 0{85.. .Al;Taha's (3) work is possibly more correct since it pre-
dicfs.a valﬁe of about 0.6 for B at a high Reynolds number which is
in good agreement with boundary layer theory. Experimentally little
data is available in this lcw‘range of Re. For 25 < Re < 56, Chen's
(10) benzoic acid solid data and Clinton and Whatley's (12) liquid drop
data in the range 5 < Re < 14 may be corrected using values of B as
0.85 and 0.82 respectively. However Calderbank and Korchinsks' (8)
result for heat transfer to mercury drpps at 20 < Re < 200 can be cor-
related with a value of B = 0.75. Also Rowe et al, (67) report a |
value of B = 0,74 for mass and heat transfer studies in the range
20 < Re < 2000. It is possible that Chen (10) and Clinton and Whatley's
(12) values of B are slightly higher. Chen (10) does not report
whether he used cast or pressed benzoic acid spheres but it is most
likely that he used cast spheres since Chen used the same equipment and
methods as reported by Peltzman and Pfeffer (59). | The latter authors
reported that the use of cast benzoic acid spheres would cause grain
dropping and that this apparently increases the ph&éical mass transfer
rate due to greater chemical ;ctivity of the disordered-grain boundaries
when compared to the ordered structure of the bulk grain. This random
structure of the grain bOundaries‘ariSes as the crystalline organic
material solidifies in a manner quite‘analogOus to metals. Rowe ét al. (67),'
on the other hand, wused pressed benzoic acid spheres in their mass
transfer e?periments which would eliminate any grain drdpping phenomenon.
The difference in the two liquid drop studies is difficult to explain
excepé to mention that Clinton and Whatley (12), like Calderbank and
Korchnisk (8),did not checK experimentally if the drops were behaving as
true solid spheres, but only assumed so by adding a surfactant, and from

the evidence that drops without surfactant had a high initial rate of mass

transfer.
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Because Af the uncertainty as to the correct value of B or Bo
for Re < 100 some single particle experiments were carried out in this
lower range of Re, It was felt that the effect of sphere support and
turbulence, could have cdntributed to the disagreement in other experi-
mental work, though only to a limited degree. To eliminate these
effects, the mass transfer ekperimeﬂts were carried out allowing single
particles to fall at their terminal settling velocity. The results are
shown as j factors against Re0 plotted on a logarithmic coordinate
in Fig, 6.1-12, The data lies between the two theoretical predictions
but unfortunately, there ig some scatter in the data. A mean value of
0.75 for B 1is suggested. Thus the single particle mass transfer

data for 7 < Re0 < 95 can be expressed by the following equation.

Sh, = 0.75 Re(l)'z Scl/3 (6.1-12)

The explanation of the scatter in the single‘particle mass transfer
,results.is probably énalytical. It 1is difficult to obtain uniformity
in the prepération of the various sample and standgfd matrices for the
spectra—chemical analysis. In the analysis, it has been assumed that
sodium was present in a matrix of CuSO4 which formed the major comsti-
tuent and that the particle was inert as far as the analysis was con;
cerned. However, this was not so in'practice, since in the unknéwn
samples, sodium was.present in the particles and in the comparative stan-
dards sodium was present as adsorbedt NaZSO4 in CuSOA. powder and there-
fore the arcing characteristics of the samples and Sténdards were not
necessarily the same. In addition the size of the samples»and standards
were not the same since the particles were of various sizes and the exact

amount of CuSO4 could not always be added for the different determina-

tions due to the error in weighing such small amounts.
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Fig. 6.1-12 : single particle results:j against Re
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An qxplanafion is now required to account for the difference in the
value of B0 (0;86) obtained by extrapolating fluidized bed data and
the Qalue (0.75) obtained in single particle work, since intuitively
they SHOuld be thg same., It is possible that the value of Bo obtained
from fluidized bed data is increased due to turbulence.

Galloway and Sage (23,24) have reviewed the gvailable information
concerning the effect of free stream furbulence on mass and heat transfer
rates from single spheres. It is known that the intensity of the free
stream turbulence markedly influences the transfer rates in the forward

region of a sphere. The above authors found that this effect could be

conveniently represented by the use of a Frossling number, defined as

Fg = —Sh=2 (6.1-13)
Rell2 gcl/3 SRR

Galloway and Sage (23,24) suggested that the local and overall Frossling
numbers are linearly related to the square réot of the Reynolds number

and that the sloée increases with increasing éurbulence. Based on
theoretical considerations ahd experimental data, they suggested an empiri—
cal representation of the Frossling number which would take into account
the effect of turbulence in the boundary layer and in the wake and addi-
tionally the variation of physical properties through the boundary layer.
For negligible variation of physical properties of the fluid through the
boundary layer and negligible effecp of turbulence on the wake transfer,
i.e. for the effect of free stream turbulence on the laminar boundary

layer they suggest the following equation for the Frossling number :
Fs = E; + Eya' (a' + E3) Rel/25cl/6 (6.1-4)

" where Eq, Eé and E; are constants and &' the intensity of turbu-
lence defined as V';;z/ U where ';; is the time averaged longitudinal

fluctuating belocity;
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From the énalysis of 436 data points for mass transfer these authors

recommend the following values:
E, = 0.55
. E2 = 0.1

0.0004

=
w
R

Galloway and Sage (24), in the analysis of data covered a range 2 < Re <
483,000 but most of the data was for Re > 100, For o' =0, Fs =

E; = 0.55  i.e. the value of B; of equation (2.2-1) suggested by Fross-
ling (21). In other words Galloway and Sage recommend equation (2.2-1)
for correlating mass transfer data for single spheres. It has been dis-
cussed earlier that a more appropriate correlation for single particles
would be equation (2.2-17). For Re less éhan 100 a value of Bo = B
"= 0.75 is recommended for use in equation (2.2-17) as a result of this
work. The term B should have the same significance as that of the term
E; 1in equation (6.1-14) and therefore the following values of the con-

stants have been chosen:

E1 '2 0'75
. Ez = 0.1°

This assumes that the magnitude of E, and Ej; remains of the same order
for Re < 100. Recognising that the value of the Frossling number is
approximately equal to the value of Bo obtained from fluidized bed work

one obtains (equdtion (6.1-14))

0.86 = 0.75 + Eya' (a + E3) Reg"2 Scll/6
= 0.75 + 0.1 a'2 Rell 2 scl/6
“since - E; = '0.0004 = 0

Taking a set of values, i.e. Reo = 50, Sc = 400 we have
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. - .0.11
a' = = 0,24
0-1 X7.1x 2072

The origin of "turbulence" may be attributed to several factors. As
flow proceeds in a multiparticle bed, the floﬁ may be divided into several
streams which may recombine later depending on the presence of neighbour-—
ing particles so that the flow consists of a sequence of "jets" and "wakes".
This process of jet division, recombination with associated mixing in the
wakes as a result of "side stepping" can give rise to a form of turbulence.
The "intensity" of such turbulence is related to the mixing length of the
process and is intimately related to the mean flow, particle size, shape
and geometry of arrangement. For this reason the turbulence intensit&
based on this concept has no obvious relationship to the root mean square
fluctuating velocity component. The second mode of turbulence may be
due to adverse local pressure gradients that can cause boundary. layer
separation and shedding of vortices. The third may be due to the pre-
sence of the distributor.

Galloﬁay and Sage (25) believe that the turbulence due to mixing of
fluid streams may interact with the boundary layer flow on the particles
in much the same way as free stream turbulence perturbs the laminar
boundary layer flows with an enhancement of the transport rate on bluff
bodies in a wind tunnel. These authors proposed a model for heat and
mass transport in multiparticle systems (25) and evaluated the turbulent
intensity using expressions for the Frossling number discussed earlier.
In'the analysis, the authors assumed the existence of stagnant zones
occupied by boundary flow wakes or other relatively stagnant regions and
this was taken into account by estimating a pseudo voidage similar to
that employed by Kusik and Happel (47). Gaolloway and Sage (25) showed

that the turbulent intensities in a fluidized bed gradually increased with
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voidage, attained a maximum at voidage about 0.70 and then decreased to
the limiting turbulence level of a single particle in an infinite medium.
This was expected, since the "stagnant void fraction" showed a maxima
with voidage. The average level of the intensity of turbulence as’
obtained by these authors is about 0.25 for a voidage upto about 0.9.
However, their model would nof be very suiféble at low Reynolds number
since the volume of wakes would be quite small. 1In the present experi-
ments, the effect of "jetting" of streams is also expected to be small
since the bed is shallow and in fact the mechanism is more important in
fixed beds. It seems that the sintered distributor is possibly.
responsible for an increased level of turbulence in the present experi-
ments. As the height of the bed was small, it is possible that the tur-
bulence generated by the flow distfibutor could not decay appreciably.
_Kricher and Mosberger (44) reported a 307 increase in mass transfér rate
in a fluidized bed due to turbulence caused by the'distributor plate.
Here, an‘increase of ébéut 117 1is thought to occur. Possibly, a con-—
venient method of quantifying this effect would be t6 measure the pres-
sure drop across the distributor, siaee;this—%e—é—measu;e—e£—%he—ene;gy
dissipation., This factor is aléo likely to be responsible for the differ-
ence in mass transfer measurements of various other authors, since no'con—
sideration to the type of distributor is made or reported when-com;aring
data.

Although equations (6.1-1la and b) correlate mass transfer data well
in a liquid fluidized bed, they are not useful for fixed and distended
beds since the exponent q and ReO have no meaning in that context. In
Chapter 4 a semi—theoretical correlation has been proposed which is suffic-
iehtly general to be applicable to any multiparticle assembly. This is
expressed by equation (4.2-5) where the coefficient G, remains to be

determined. The validity of this model lies in the fact that G, should
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be a conStant for any multiparticle assembly and numerically equal to the
c0nstan£ B° since for a voidage of unity eqdation (4.2-5) reduces to
the case for a single particle. The presént fluidized bed mass trans-
fer data are utilised to test this model.‘ Equation (4.2-5) can be

-

written as

Shm € _1 .
.‘.= 1 = Attt e a—— = .2 -
i e .2 Gy Res (6.1-15)
s 3

In Fig. 6.1-13 to 6.1-16 jé are plotted against Res. The solid lines
are a least square fit of the dat; and each line is extrapolated to the
corresponding Reo for easy identification. TFig. 6.1-13 shows the
~jl:l factor data points for all experimental observations calgulgted using
the measured value of the voidage €. Fig. 6.1-14 shows the same jé
factors as smooth correlations for Res/Reo >1/6 i.e. for the case when
the differént beds are assumed to have a random arrangement of particles.
Béth these figures show appreciable scatter amongst‘data for different
Re° cases and no single equation would corre}ate the different data ade-
quately. It has been mentioned earlier that the voidage measurement in
the present experiments is not entirely satisfactory and since jé = jme,
it is possible that uncertainty in the voidage is responsible for the
above féilure. Hence, voidage waé calculated using the well established
Richardson-Zaki correlation (64) and jé factors recalculated. —Tﬁis is
shown in Fig. 6.1-15 and 16. In Fig. 6.1-15 the data over the entire
range of voidage has been correlated and in Fig. 6.1-16 the lower voidage
data _i.e. for Res/Re° < 1/6 has been neglected in'the correla;ions. It
may be seen from these two figures that the scatter in the data is greatly
reduced when compared to the previous case where measured values of void-
1

ages were used to calculate jm factors. Minimum scatter occurs in

Fig. 6.1-16 except for the spurious case already discussed (Red = 20.09).
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In Fig. 6.1-16 equation (6.1-15) with Gy taken equal to B§ = 0,86 is
shown as a dotted line and this may be considered as an adequate expres-

sion for mass transfer in multiparticle system. The expression is

L 0.86 - 115 o173 ;
Shm‘ - . Res Se | (6.1-16)

This equation is in close agreemenf with that of Snowdon and Turner (72)
who report a value of 0.81 for the constant in the equation.

Eqﬁat}on (6.1~11a) may be directly compared with the above equation
by eliminating Re0 from the former using the Richardson-Zaki. correlation

which takes the form
sh_ = 0.86 eN(a70.5) Rel/2 scl/3 (6.1-17)
Thus when N(gq-0.5) =-1 the above equation agrees with equation (6.1-16).

From Table A.5-8 or using the ‘appropriate correlation the following values

may be written:

Re_ N q N(g-0.5)

8.4 3.6 0.26 -1.008
i 56.16 3,29 0.19 -1.02

500 2.39 0.07 -1.03

The valﬁe of N(q-0.5) may be taken as -1.0 so that both equations
(§.1—11) and (6.1-16) aré equivalent in a fluidized bed and that Sh,= e-l.
The 1at£er conclusion is directly reached from boundary layer theory. |
A comparison of equation (6.1—16).with the data available in the
literature is shown in Fig. 6.1-17 taken froﬁ Beek's paper (6). The
present correlation is possibly a slight improvement on the correlation
proposed by Snowdon and Turner (72). A further comparison is shown in

Fig. 6.1-18. Also shown in this Figure is the result for free surface

model for € = 0.85 obtained by‘Leclair and Hamielec (49) and given by



- 126

Fig. 6.1-17 : jl;l against Re

Reproduced from reference (6) .
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equation-(2.3-9). As expected the free surface model shows a positive
-devigtibn at low 'ReS and a nggative deviation at high -Res. This trend
in tﬁe deviation of the free surface model from experimental data is simi-
lar to that observed by Leclair and Hamielec (48) in the drag comparison.
The fluidized bed data of Couderé et al. (14) are not available in tabular
form for comparison. Their proposed cor?elation predicts Shhfe-z Res;
however their bed expansion dafa possibly may be represented by e « Reg'5
so that Couderc et al.'s (l4) correlation could also be expressed as

-1 0.5 ,
]

Shm « g . ) .

It would be interesting to find out why the data in a fixed, dis-
tended and fluidized bed may be represented by a single equation although
the physical character of the fluidized bed is quite different from the
former types of bed. In a fluidized bed, the voidage may fluctuate and
the particles are moving. The boundary layer model that describes the
floﬁ in any multiparticle assémbly does not take in;o account any such
affects; it only considers that the length of the boundary layer is pro-
portional to the product of voidage and diameter and thus one would expect
that the form of the correlation may be the same but that the coefficient
G, of equation (4.2-5) would be different for fixed or distended and
fluidized beds. - .

Assume that equation (4.2-5) is valid for fixed or distended beds with-

no variation of the filtration velocity with respect to the particle and

no local variation of voidage, then i; may be written as

K o« & _ (6.1-18)

where Ug is the superficial or the filtration velocity and this is the
same whether with respect to the particles in the bed or an observer

fixed in space.
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In a fluidized bed, the particles are moving up and down in the bed,
' so that the settling velocity of a particle at any instant could be ex—
pressed as an average.velocity whicﬁ is the superficial velocity énd a
small upward or downward Velocity.of the particles. Also tﬁe voidage
of the bed may similarly be represented by an average voidage and a small

deviation from the mean. Thus in a fluidized bed

Uu = Us+ AUs

™
|

€ + Ae

where Ug is the settling velocity of a particle and € 1is a local void-
age and AU; and Ae are small deviations from the mean value and bar
denotes an average value. |

Now let equation (6.1-18) which is assumed to be valid for a fixed
or distended bed be perturbed by a small amount in the variables Ug and
€ so that the deviations are small compared to the mean value. It is
assumed that these deviations are of the same order in a fluidized bed.

Then one can expand the variables around the mean values approximately as

follows:
(aU_)2
0'5 _0. O' ’ s
U = U 3 + 0.5 AU - 0.25 + smaller terms
s s —6.5 S 2 31.5
s s
0.5 0.5 0.25 (BU)? — -
N = 70 -2 3 since AUL= O
s s .2 i S
s
AU \2"
or w00 = P |1-22 [ s (6.1-19)
K] s 2 kel
: U
s
Similarly
el = Fleog2 e +53 (ae)2 + smaller terms

.oe = T +T (re)? since Ae = O
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ery — 2
or £ 1 =g 1 [1 + (ffe) ] (6.1-20)
’ €

Then the average value of the mass transfer coefficient can be written

from equation (6.1-19) and (6.1-20) as

—=0.5 N2 2 '
U AU .
- s 1 =925 (s T (6.1-21)
c = 2 T T
. - 8

The first term in the brackets is less than unity and the second term

~l | B
1]

more than ﬁnity, i.e. the particle motion tends to lower the mass transfer
coefficient and this is offset by a fluctuation in voidage and assuming
that the order of these fluctuations are the same, then they would cancel
each.other out. This means that the combined effect of movement of
partiéles and voidage fluctuatiﬁns'does not effect equation (6.1-18).

This may explain why the same equation applies in fixed, distended and

fluidized beds.

6.2, Solution of the forced convective diffusion equation

Equation (4.1-14) shows f; varies with flow rate in a manner similar
to other solid-fluid systems having constant diffusivity except for the

appearance of the term F. For example, for creeping flow (equation

(2.2-8))
vy = - l-U sing | r2 - §-Rr + Ei
2 -2 2r

N w; = - %-U sin?e

‘and substitution of this value in the integral in equation (4.1-14) yields

T e
‘}3 ingde= 4/ > U I
f -2—U sin<gde= JZUZ
o
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and the expression for . f; is

- - D
— - 3. 1/3 . 2/3 AS. 2/3 1/3
KV = 1.31 ('2—) ('2—) F (-—d—-) U

D 2/3 1/3
2.03 F (—%‘-S—)

When VAR - Yap + 0, from equation (4.1-13) F - (1/12)1/3 and

D
— AS. 2/3 1173

In the limit when Yar -+ 0, the controlling diffusivity is

Dyse

i.e. as if only species 'A' is present. This limiting value is com-

7 Yap

parable with a constant diffusivity case. Friedlander (18) has also
reported a value of 0.89 for the above coefficient for a constant
diffusivity case using a somewhat similar concentration profile and
this possibly gives added confidence to the solution obtained. Equation
(4.1-14) would also predict the square root dependence of mass transfer
oﬁ velocity at high flow rate.

It is difficult to say whether this solution predicts the correct
dependence of the mass transfer coefficient on concentration. Snowdon

and Turner (73) showed that for theilimiting cases

0 and 1,

Tar 7 ap 7 YaR 7 Yap 7

the mass transfer coefficient would vary.by a factor of (a+1)él3.
Though their (73) solution is based on a "stagnant film" type analysis
their prediction seems reasonable. This may follow from the following
argument.

The diffusional flux may be written using equation (A.3-29) as

- follows:
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For AR ™ Yap 0
.* dyA
Xl = T CcpPas \ax = K (8) Cp,(ypp = Yap)
X= . x=0
VARV ap "0
and Yar 7 Vap 7 1
dyA
* = - — = -
S CopPes \ax Ko (®) Cop (pp = Tap)
x=0 x=0 :

VAR Yap”!

Now drawing an analogy with single particle mass transfer studies at con-

stant diffusivity, it is probable that the mass transfer coefficient

. Dps 213 213 L . e
would differ by a factor @;—0 = (a+l) for the two limiting
BS .. 2113(g+1)
cases. In the present analysis this ratio 1s ———, The former
- (a+2) 113

conclusion is rather intuitive and until an exact solution is available

any further comment would be premature.
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A.l. Diffusion under concentration gradient and an external force

The simplest éase of diffusion is conéentration diffusion in a
binary system and this is usually expressed by Fick's law of diffusion.
Consider liquid phase diffusion in a binary ion exchange system under
conditions of constant temperature and pressure and where lons are pre-
sent in low concentration. # A binary ion exchange system consists of

two phases, namely the exchanger phase which is normally a solid and a

liquid phase. The liquid phase contains the ions designated as 'A'

L
-

and 'B' which are the exchanginé ions often called counter ionms,
mobile non exchanging ions 'C' called the coions which are oppositely
charged to that of counter ions and the solvent. The solid phase con-
tains an inert mat;ix with fixed coionic groups and the mobile counter
ions. Thus the liquid phase has four components, namely two counter
ions, one coion and the solvent.

Another characteristic of an ion exchange system is the presence of
an electric field which must be taken into account in the driving forcg
for the diffusion flux. This electric field arises due to a tendency
for the creation of a disturbance of the electroneutrality which is
caused when the mobilities of the counter ions are different. If the
mobilities of ghe diffusion ions are different, the faster ion tends to
diffuse at a higher rate and any excess flux produces an electric field
which slows down the faster ions and accelerates the slower ions. The
result is a diffusioﬁ potential restoring electroneutrality. The devia-
tions from electroneutrality remain negligible except in the electric
doublé layer at the ion exchanger-solution interfaée'which is only a few
angstrom units thick (37b).

Since binary ion exchange is strictly a multicomponent system, it

will be treated in that way rather than by starting with the usual
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Nernst-Planck equations. There is'some ambiguity as to the identifica-
tion of the diffusion coefficient in the Nernst-Planck equation. Most
autﬁors use the term self-diffusion coéfficient but actually mean binary
diffusion coefficient of ion-solvent pair. It will be seen tﬁat when
ions are present at low concentration, then they may be assumed to dif-
fuse independently of each ofher and each ion-solvent pair may be treéted
as a binary pair and the Nernst-Planck equaticn applied. Also the iden-
tification of diffusion coefficient will be clear.

The theory of diffusion is complex and not complete. Diffusion in
dilute gases has been treated quite satisfactorily by kinetic theory.
It has also been observed that many dense gases and fluids may be treated
by kinetic theor& quite adequately. The following definitions and terms
will be useful in recognising various terms of the kinetic theory result.

For a mixture having n components

n
Z Pivi
i=1 '
= ———————- and n, = p.V. are the mass )
n i i'i )
:E:: Py average velocity of the mixture g
i=1
and mass flux of species 1 with g
respect to stationary coordinates g .
respectively. ;
)
. n
2 )
Civl | ;
vk = 2 : L and N, =C.v. are the corres- ) (A1-1)
)
- :z:: Ci. ponding molar quantities as )
i=1 )
above. )
)
)
ji = pi(vi—v) is the mass flux of species i with ;
respect to mass average velocity g
)

and is called diffusion mass flux.
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Ji'-= Ci'(vi - v*) 1is the corresponding molar diffusion
flux as above
n n P. C.
: i : i
Z pi = Ps Z Ci = G Wi = p_ ’ x5 = —
i=1 i=1 c

where P;s Cy

TR and x, are the density, molar con-—

centration mass fraction and mole fraction of species

i and p and ¢ are the demsity and molar concentra-

S S N/ N S N N N N N o N o N A Nt NS

tion of the mixture

The kinetic theory result (7€) for mass flux with respect to mass
.average velocity .due to a concentration gradient and an external force
(neglecting pressure and thermal diffusion) in ideal solution, is given

by

[ )
’-l
||
®la
=]
=
-
e
[e>)
e
e
"
"
[
+
=
-
A%
N
|
B -]
S
'ol bel
a9
o
S’
—
e
>
—
|
N
L

Here Bij is the diffusivity of the pair i-j in a multicomponent mix-—
ture. Here g 1is the external force'and M the molecular weight.
Because Bij i§ concentration dependent equation (A.1-2) is inconvenient
to use. However, for some calculgtions an effective binary diffusion
poefficient Dim may be defined for species 1 1in a mixture. This is
seen below.

The molar flux for species 'A' in a binary mixture of species 'A'
and ,'B' may be written after manipulating equatiops (A.1-1) and (A.1-2)

as
N = -CD v + E{é—x—é {-— + (g.w, + g w.)
A AB| Y*A T TRT By T \BRVp T 8pYp

+ XA(NA + NB) (A.1-3)
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The special notation D B is used for B,_ in a binary mixture. 1In an

A AB
analogous way, the molar flux of species i in a mixture of n compo-

nents can be written in terms of a diffusion coefficient Dim called

the effective binary diffusion coefficient for the species 1i as

n n

- - iif_ z 2 _
Ni = c Dim [in + = ( g; + ngJ)] + X; Nj (A.1-4)

j=1 j=1

Here an expression for D, will be sought in terms of appropriate binary
diffusion coefficients for trace concentrations of species 2, 3, 4..in
nearly pure species 1.

The Stefan—-Maxwell equation for this case is given as (7C)

n . n
M X Z Z 1 '
in + = -8; + wsgj = N (xiNj - xjNi) (A.1-5)

j=1 =1

It may be mentioned here that equation (A.1-5) is derived from (A.1-2)
and contains the Dij rather than the Bij' Equation (A.1-4) may now

be written as

n
M.X, n Nt N
v - ' - = -
5 TR g * Z Vi C D. (A.1-6)

i=1

Comparing equations (A.1-5) and (A.1-6) we have
n
- Ni + xi z: Nj n

j=1 - EE: 1 - -
c Dij (xiNj xjNi) A.1-7)

¢ Dim j=1

If component 1 1is present as nearly a pure species, i.e. x] ¥ 1 and

X, = 0 equation (A.1-7) reduces to

i#l
. N.
i i
CD. C D.
im 11
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i.e. - © D, = D..,. L (A.1-8)

Thus diffusion coefficient of the trace species i in a mixture is
equal to the binary diffus}Lon coefficient of the species i and the
nearly pure componeni:. This is not the self diffusion coefficient.
Self diffusion means diffusion of species i in itself.

It, is possib.le‘to write the diffusion flux for the ionic species
in a mixture where the ion may be subjected to an external electric force.
due to its ionic nature. Also a'body'force B acts on each SPécies.

The total force g; may then be written as

N
_ AV
& = Pt m H4F
1
23
= B- = FV¢ (A.1-9)
i

where gq is the electric charge, E is the electric field, ¢ 1is the

potential and its gradient taken as negative, N the Avogadro number,

AV
F the Faraday constant, Z the valency of the ion, and B the gravity

force. Using equation (A.1-9) one can write

n 4

gy ~ E:WJ gJ
J:
z e Z.
= B - = FV¢—E w B -LFvy
M. 3 M.
1 »
j=1
oz — e o, 2
= B-ﬂ—; FV¢-,B E Wj+ -Z- TE_FV‘I’
. j=1 j=1 J
n
= —(-Z_i_ —}. C Z>FV¢
M, p 373
i=1
Z, ‘
= - & FVy . (A.1-10)

1
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n
Since 2: Cjzj = 0 for the condition of electroneutrality.
=1

Using equation (A.1-10) equation (A.l1-4) may be written as

n

x.2.
. . i%i E :
i C D, [in * R FV ¢] + X, Nj (A.1-11)
J=

=
]

From equation (A.1-1)

and hence the expression for the diffusion flux Ji can be written from

equation (A.1-11) as

C.Z.
x = - N ! _
Ji Dim I:VCi + RT FV ¢] (A.1-12)

Eduation (A.1-12) is the Nernst-Planck equation.
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A.2, " Diffusional flux in terms of concentration gradient for a binary

ion exchange system

In general, the liq;§d phase of a binary ion exchange system con-
tains four components, namely the two counter-iomns 'A' and 'B', the co-ion
'c' and the solvent 'S'. The co-ions in the solution phase are not.held
fixed as are the counterparts in the resin phase., This mobility of the
co-ions creates a non zero concentration gradient for the co-ions, though
no net transfer of co-ions can occur across the solid liquid interface
due to the existence of a Donn potential which prevents co-ion transfer
(370). |

The diffusion flux of the ionic species may be expressed by equation
(A.1-12) when ions are presenf in low concentration. This is given in
terms of an effective binary diffusion coefficieﬁt for the diffusing
species and the solvent and two gradients, viz., the concentration and
electric for the driyiqg force of the diffusion flux. However, it is
ﬁossible to express the diffusion flux iﬂ terms of the concentration gra-
dient alone, but with a complicated form of the diffusion coefficient
which in general is dependent on concentration.

From equation (A.1-12), the liquid phase diffusion flux equations

for the individual ionic species for a binary ion exchange case are;

r ZACA B
* = - e . -
JA' DAS LV Cy + =7 F Y ¢- (A.2-1.1)
I 2y 1
X = - =2 _
JB DBS _V CB + =T PV ¢- (A.2-1.2)
i 2S¢ ]
X = - - -1,
Jc DCS LV Cc RT FV ¢- (A.2-1.3)

It may be seen that in equation (A,2-1.3) the electric potential gradient

is taken as opposite, in this case positive for the co-ion 'C' since
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the charge is opposite to that of the counter ioms.
The following relations apply to the condition of electroneutrality

and no net current, i.e.

E Zici = 0 cpndition of electroneutrality
1=A,B,C
l.e. "’ ZACA + ZBCB = ZcCC (A.2-2)
and F 'E ZiNi = 0 condition of no net current
1=A,B,C
1.e. ZANA + ZBNB = ZCNC
From equation (A.1-1), NA = JK +,qu* and hence
% % % = % * ERTS
ZAJA + ZBJB + (ZACA + ZBCB)V ZCJC + ZC‘CCV &,

Using equation (A.2-2)

* k = % -
ZyJ% + 2.3% Z.J% (A.2-3)

Equations (A.1-1) may now be manipulated with the conditions (A.2-2) and
(A.2-3) to yield the following relationship without the appearance of the
electric potential gradient and in terms of the concentration gradient of

only one of the species.

% R ES *
i . Zy2 % I . B _ % ¢
Dys 20Gc(2g *25) | Dyg  Dyg Zp Deg
2,G(Zg + Z) = 2,6,(2, = 2,) ,
AR VCA (A.2-4)
20CelZg * Zg
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A.3. . Solution of the forced convective diffusion equation (4.1-10)

Equation (4.1-10) represents the continuity equation for the species

'A' in a binary homovalent ion exchange system. In spherical coordin-

ates it is given as

L (A.3-1)
BCA A/ BCA 1 3 ZDAS ) acA
V 57— + — e— = = —_— and
r 9r T 96 r2 or CA or
@ + 2 (4.1-10)

. ' c
In writing equation (A.3-1) it is assumed that the Peclet number is high

so that diffusion in the angular direction 6, may be neglected; also

the problem is considered symmetrical in the ¢ direction. The coordin-

ates are shown in Fig A.3-1.

Fig A.3-1. Coordinate system used in describing equation (A.3-1).

Let wv_ and Vo be expressed in terms of the stream function ¢. In

spherical coordinates, they are

o o o1
r r? sin o 0

(A.3-2)
v, = 1l
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Define a new radial coordinate x as
x = r-R |, C (A.3-3)

The boundary conditions are

. (A.3-4)
r'= R+b, x = b, c, = C

where b is the thickness of the concentration boundary layer. Using

these new variables equation (A.3-1) becomes

-4
oC aC : 2D oC
_ 9y A N _A _ a AS 2 __A -
=5 3% + 5 sin 6 x o R o (A.3-5)
o —+ 2
.CC

Here R + x = R since x << R due to the assumption of large Peclet
number.

Since the problem is non 1iﬁear, an exact solﬁtion is difficult and
therefore, an approximate solution will be attempted. An integral
method éf analysis will be used for this purpose.

Equation (A.3-5) may be rewritten as follows

-

- 3 (c-c.) - (c-c. ) 22 _ %y L W oo
56 3% (A %) T (A% st (G %) 3me t 3x 38 GG

= sin ® 2 ZDAS R2 °Ca
_ 9x a CA/CC + 2 39X

" 9D 3¢
= sin o — [ AS R2 A] - (A.3-6)
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Integrating equation (A.3-6) between the limits x=0 and x=0b i.e.

across the concentration boundary layer gives

x=

x=b
- - 3y 8 - 3y : '
[(CA Cap) ax] * / 55 Ca~Cap) o 0
x=0
x=0
%=b
= sine[ ZDAS R2 aCA]
) CA/CC + .2 9x
x=
or
x=b 2D, R2 sin 6 C
3 e —c )Wy - |28 A  (A.3-7)
06 ““A Ab’ dx «C,/C. +2 23x
: a’tc
x=0 . X=

The following facts have been used to obtain equation (A.3-7);

€, ~Cap) 70

L J X=

kil = ‘ v
) 0 since =5 0

-

_ Y . _ . -
(CA CAb) =5 = 0 since (CA 0

= Ca)._
i Jx=b Ab’ x=b

2 o y
3
ZDAS R sin © CA]
x=b

aC,,C, + 2 ax

BCA
= 0 since TR = 0 at the edge
A/C ' x=b

of the concentration boundary layer which is located at x = b, any gra-

dient of concentration would vanish.Using the Lebnitz formula the left-

hand side of equation (A.3-7) becomes’

x=b

J - W ax =
f 75 Cp 7 Cap) 5x 9% 7
x=0

x=b
= 4 2 - |4 L)
" 36 f CxCar) 5 -9% [de(CA'CAb)ax]x

dx Ei]
+ | =(c,-C,.) -
=b[de A TAb’ 3x %=0
x=0
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The last two terms on the right-hand side are zero and equation (A.3-7) can

be written as

.. - x=b . | 2 o
d_ © - c.) 3y i e o ZDAS R4 sin 6 BCA 8.3-8)
do . A~ “Ab’ Bx @ c,/cot2 x |__ T
*x=0 x=

The integral quantity of the above equation is related to the total amount

of mass diffused which can be seen from the following relationship.

i Zm ! D, 3C,
2mM' = o (. E— — R? sin 6 do dé
a g fc. t 2 A 9x
A" MC
. o o . x=0 x=0
- — — P - A —
diffusion concentration area
coefficient gradient
Thus equation (A.3-8) may be written as
VX""b 2 .
g'_hi" - d_ (C < ) —8_19- dx _ _ [ZDAS R4 sin 8 2 A]
de do A Ab. 9x | acA/gC+2 ax_,x=0
x=0
. : A x=b x=
Also /(CA—cAb) dy = f d{ (€ =Cyp 0} - / pdc,
x=0 x=0

rd

x=b . ‘ 2
dM’ d } _[ZDAS R sin B8 BCA]
X

Hence r R T: Vv d CA = CA/CC . Py ) (A.3-9)
x=
x=b
where M' = - f P d CA ] (A.3-10)
x=0

Since the above equations have two dependent variables CA and CC’ it is

convenient to define a single variable called the equivalent fractiom as’

-

Ya o (A.3-11)
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Now dCA - yAdCC' =. CC dyA

From equation (4.1-6) we have

a
dCC = -&-—y-;—_’_-—z- dCA (A.3-12)

Then using equation (4.1-8)

(o y +1)£(ay + 2)
ac, = fob  Tab A ay, (A.3-13)
2(a Yyt 1)3’42

Replacing this new variable in equation (A.3-9) and using a new symbol M

x=b

....clbi'—- .cl_ ) (C!YA+2) ayA dx =
do.  de 3,2 00X -
x=0 (ayA+1)
2 .
] 2DAS R* sin § ('c)yA) h.3-14)
O A % /x=0
The corfesponding boundary conditions are
x = 0, Yo = Yar
(A.3-15)
x = b v T

A concentration profile is now assumed which satisfies as many boundary
conditions as possible and yet is quite simple to manipulate. The follow-

ing concentration profile is chosen:

1 1
y, = = -1 (A.3-16)
: “'[(fl—fs%f _ ]
where f, = ———-—-{1 )
, =
' 1+ GYAR) )
)
1 )
£, = — ) (A.3-17)
1 + ayAb>2 )
)
and f3 = £ - £ )
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The above profile satisfies the boundary conditions (A.3-15). In addi-

_tion it satisfies the condition

. 2
_g__ R _g-;l=o both at ¥ =0 and x = b
x (ay, + 132 '

which follows from equation (A.3-5). This is true only when the concen-
tration boundary layer is thin, i.e. R + x = R. However the concentra-
: 3YA
tion profile does not satisfy the condition = - 0 at x=Db and
this is a common limitation met by other workers when a relatively simple
concentration profile is used.
As this is a thin concentration boundary layer problem, it is suf-

ficient to use the velocity field near the surface of the particle. Hence

¥ is expanded around the surface as follows

v +¢'x+¢';3‘-2+
R 'R R 2

v =
2
~ n X -
R2 ‘ ‘ (A.3-18)
Since wR and ﬁ = 0 where the primes indicate the first and second

-

-derivative and the subscript R indicates the surface of the particle.

1
(£, - £3 1.
Then
) ! . )
(ay, + 2) = + 17 = p2 +1
A (£, - £3 5)2 )
b )
:
(O‘YA + 1)3/2 = .—____1._.—-}_{.— = p3 )
(£ - £39° ) .
) (A.3-20)
)
3y 2£3 2f4 )
e i )
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1pn 5? _ w" bz
R 2 R ng

1.2
f—_.
(f1 P
- 1 .
3]
1 _1
f1 - f3 fo

Nt Nt Nt Nt Nt

N N Nt Nt
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(A.3-21)

Substituting the quantities in equations (A.3-20) and (A.3 21) and using

equation (A.3-14) one can write

1/£ :
bzw" 2 5
R + 1 1.2
b2yp £7\2 (-] £12- £,°
= -— |-8 nlg) r— TR
f32a 2 2
2.1
_ b wRA
f32a
Mf32a
or, b = ' :Egz
6V (f) - £2)3  £,2- £,2
where A = - f;1n [2Y + — 3 + 5,

-

Also from equations (A.3-14) and (A.3-17)

dM
de

2D, . R? sin

AS

B

(ay,p+1)3/2

8% x=0

(A.3-22)

(A.3-23)



- 2 [ 3y
ZDAS R4 sin 6 £, (Bx )x=

2 .
ADAS R4 sin 6 f3

ab

Since from equation (A.3-20)

(ﬁ) _
ox %=0

2f

abf13

Also from equation (A.3-24)

9x %=0

_ 1 an
2 s 3 db
ZDAS R4 sin 8 £,

Replacing equation (A.3-22) in equation (A.3-24)

M
f M aM
0 .

f /—w"A R2 sin® de

The lower limit on the left hand side shows that at 6 = 7w

diffused. On integration

: S .
2/3 A1/3
= 2 R 1 .
M (6DASR ) = / ‘\} 1pR sind do
) o

The flux J*

x=0

x=0

213

may be written from equation (4.1-7) as

) 20, ¢ (ch)
CA . dx %=0

or in terms of Y from equations (A.3-11) and (A.3-13) as

154

(A.3-24)

(A.3-25)

(A.3-26)

nothing has

(A.3-27) -
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. D,.C.,. (y, +1)1/2 dy
I _ AS “cb " 7ab dxA (A.3-28)
x=0 (OtyAR+1)3/2 , x=0
A local mass transfer coefficient Kv(e) is now defined as
172

e _ Dy G Cmppth) (dyA)
A X= (OtyAR+1)3/2 dx x=0

= Kv(e) b (yAR - yAb) (A.3-29)

The subscript V in KV serves to remind that the diffusion coefficient

is not constant in this system.

Using equations (A.3-17) and (A.3-26)

1 . dM
K©® = - ~ L
2f> R“ sinhb (yAR - yAb)
and the average mass transfer coefficient f& is
2w n
. %, - 1 f f R2 sin 6 do d¢ M
. 2 2 s R s
4TR A o ?fz R® sin 6 (y,p = vpy)

(o}

= - L f a
4f, R?

(YAR - yAb) m

= - M ’ (A.3-30)

2 -
482 R® (¥yp ~ Vpy)

and from equation (A.3-27)

(6D R2)213A113 I
?V' = - AS f \’—lpﬁ sin 6 d6
. (o]

2173
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or on substitution the value of A from equatiox} (A.3-23) and using

R = d/2 we have

- (12)273 DiéB' £1\2 (£ - £)°  £2- £,2
5 - 213 -- f1 1n (I"—z-) B 3 T Th
' T 243
) A 1| .
X f \I IPR sin 6 d6
| Yo
p A\2/s | o=@ | 213
= As ' - 1l . -
1.31 (-——-d ) F | /\’ Yp sin 6 de (A.3-31)
. . 7o
where F may be written after substituting the values of f; and £,
from equations (A.3-17) as
- 1 + ay
L In T+ ayAb - (1+°‘yAb)%< 001, R ayl +1>
_ 4 Gy AR+1)£ AR , AR Ab
F = (1+ay,)
Ab”, 3 3
] @ (Yap = Yap)
341/3
1 _ 1
1+ )% (I + oy )%
ay
- AR Ab -(A.3-32)

3 _ 3

I/t would be interesting to find the limiting value of the quantity F

when Yar * Yap? but this is cumbersome, since when Yar the

> YAb,
limit of the first term in the bracket of equation (A.3-32) on straight-

forward substitution becomes indefinite. However differentiating the

numerator and the denominator three times with respect to the limit

JAR

of the first term is obtained as
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1
24 (ay,, + 1)#2

The second term in the bracket of equation (A,3-32) may be written

as

A 3

4 1
1
3 L@+ m}’AR)i (L +oy,) + Q1 +ay, )0+ aYAb)—.i]

In the limit

1 13

Yo T Yap T O F - Gz ;
| )
).
‘and when Yarg T Yap L )
)
)

113) (A.3-33)

N (1+a)i [ 1 . 1 } ) .
26 (1+a)712  24(1+q)%/2 ;
_ )
_ . )
_ 1 (o + 2)173 )
s aro )

24
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Ak, Specérochemical analysis for the Na' content in a polystyrene
resin bead

Spectrochemicél analysis uses the characteristic radiation emitted
by atoms and molecules fo; their identificétion and quantitative deter-
mination. Most atoms and molecules can be exicted by a light source
such that some electrons are raised to a higher emergy orbital and subse-
quently. decay emitting characteristic radiation.

In analytical spectroscopy, fhe intensity of the emitted radiation
and concentratioﬁ of an element is uéuélly determined empirically by
means of standard samples having knowﬁ concentrations. In additionm,

"relative intensities are usually measured avoiding the considerable diffi-
culty that would be encountered in the measuremént of absolute intensities.,
For the present case the Na5889 "line was chosen for the quantitative
estimation of sodium in an ion exchange resin particle using an arc as the
excitation source.

Because the line iﬁtensities can be afffected by several factors due
to variation in ‘excitation, optical alignment exposure etc. the straigﬂt—
forward comparative method does mot provide a sufficiently precise esti-
mate of concentration. The internal standard method provides an effective
means of improving the precision sf spectrographic analysis, The internal
standard is an element that is present in each sample and standardised as
a major constituent preferably at a fixed concentration. The reason
why the internal standard should be present as a major constituent can be
understood by studying the following hypothetical intensity vs. concentra-
tion Eurve shown in Fig. A.4-1. Above a certain Qalue of the concentra-
tion of an element, the intensity of a line attains a constant value.

Thus, a major constituent in a sample would exhibit this characteristic.

In the internal standard method, it is assumed that all the variables, other
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Fig. A.4-1. A hypothetical intemsity vs. concentration curve.

Intensity

Concéntration

tﬁan.concentration, affect the measured intensities of the analysis line
and tﬁe internal standard line to the same degree so that the intensity
ratio of the samples and standards to the internal standard would be a
Eétter measure of thg amount of material present. The internal stand-
dard method is ;xpected to provide an automatic correction for the factors
-mentioned above. Unfortunately the case may not be so simple, since a
difference in ionization and excitation potentials, boiling p&ints, sta-
bility of compounds and self-reversal affects would effect the intemsity
ratio, limiting the choice of internal standards. Thus in all applica-
tioﬁs, the validity of the fundamental assumption of the internal standard
method and the reliability of results.depends upon reproducibility of .ex-—
citation optics and photography and must be checked out experimentally.

The basic assumption of the internal standard method is then

Gy = f(IA/IS)

where- C is the concentration and IA and IS are the relative inten—

A
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sities of the analyte and internal standard line. For many cases, the

experimental data indicates that concentration may be expressed as

log CA

K; log I,/Ig + Ky

where K; and K; may be assumed constants. In the present case
Cus'782 is used as the internal standard line.

To calculate the intensity ratiés, it is necessary to convert the
microphotometer readings to relative intensities. 1In order to do so the
film or the plate referred to as the emulsion in which the spectrum is
recorded, must be calibrated so that its response ;o light is known quan-
titatively. The calibration is simplified greatly by the use of rela-
‘tive intensities, so that it is not necessary to calibrate the emulsion
in an absolute sense. Of the various methods of emulsion calibration
the "two line" method has been chosen.

In tﬂe two line method of emulsion caiibration, two suitable lines
bearing a fixed intensity ratio are selected and seﬁera} spectrograms
are recorded by varying the intensity. Thus a datum is provided, by
the two readings, one representing an intensity weakér or stronger by
some fixed ratio. The line pair should have the characteristies that
the intensity ratio remains constant and be. independent of composition
which can be accomplished using tw; lines of the same element which have
similar excitation characteristics and that they should be sharply éefined
and free from the interfering effects of other elements. Also it has
been found‘advantageous experimentally thaf the intensity of the two
lines should be between 1.2 and 2 and that the wave length of the
lines should differ by no more.than 100 2. In the present experiments
the two lines selected are -Na5889 and WNaS895, the former being the
line used for quantitative estimation. To produce a series of spectro-

grams a seven step sector has been used. The procedure for calculation

is as follows.
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Both members of the line pair, i.e. Na°88% and Na®8%% are measured
in all spectrograms by a microphotometer, setting the full scale deflection
of the microphotometer reading 100 for an unexposed emulsion and a rea&ing
of zero on an image of infinite density. Using the pair of points a
curve known as the preliminary curve is plotted, usually in logarithmic
coordinates.  Such a plot is shown in Fig. A.4-2, |

Next the emulsion calibration curve is plotted using the preliminary
curve and the intensity ratio of tﬁe two lines. As the initial point on
the emulsion curve, a deflection say 92 which is higher than any to be
used in the analysis, is selectéd. Now using this value as the ordinate
in the preliminary curve a value of 90 1is read from the abscissa. Now
if the deflection 92 1is given an inténsity of 1.0, then the relative
intensity for the reading 90 would differ by a faétor r; which is the
ratio of the intensity of the'two lines. Now the value of 90 1is used

as the ordinate in the preliminary curve to obtain a second value of 88

2

om™
1 C

from the abscissa which corresponds to a relative intensity of r
pared to that of 1.0 for a microphotometer deflection ofA 92. This
process is repeated, until deflections take a value smaller than any used
“in the routine analysis. Using the readings of the ordinate and the
corresponding relative intensity an emulsion calibration curve can now be
plotted. The sole pﬁrpose of this curve is to provide a means of deter-
mining the value of the relative intensity factor for any microphotometer
defiection from a given datum (in this case a value of microphotometer
deflection 92 is giﬁen a value 1.0- for the intensity factor). Hence,
the actual intensity ratio of the two lines are not required except very
roughly. The ratio of the microphotometer reading may serve as a measure
of the ratio of intensity of the two lines. Since, the response of the:

emulsion is not linear over the entire range of exposure, an average value

of the ratio for the two line pair has been used as the intensity ratio
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factor. Fig. A.4-3 shows such a curve where an intensity ratio factor
of 1.07 has been used.

The next step is the calculgtion of the relative intensities of the
analyte and internal standard line for the unknowns and standards.

Using the ratio of the relative intensities of the standards and internal
standards a curve is plotted. Such a curve is showﬁ in Fig. A.4~4 and
knowing the relative intensity ratios of the unknowns, their concentra-
‘tion can be determined.

The énalysis was performed by carefully transferring an ion exchange
particle to a small polythene container after the mass transfer experi-
ments., The water adhering to the particles was soaked with a clean
tissue, and transferred to a weighfed graphite electrode, which had a
3 mm crater at one of its ends for the containment of samples. The
parficlgs and the electrode were then weighed to determine the weight of
the particle. Then about 2 to 3 mg of spectrographically pure
CﬁSOu was added to the electrode and weighé& to determine the weight of
CuSOu added. The Fomparative standards were preparéd by injecting a
known amount of Na,SOy solution on the CuSOy. For reproducible

-results grindiﬁg of the CuSO, granules to fine powder was necessary.
.The standards were then dried and weighed. - The electrodes were then
mounted on an E 492 quartz Hilger and Watts spectrograph one after another
and arced. The electrode containing the samples formed the bottom elec-
troﬁe and a 60° coned graphite electrode formed the top electrode with

a 2mm gap between them. A 4.5 amp DC arc with 10 sec exposure time
was used in arcing. The preliminary curves were obtained by touching

the electrodes with bare hand which had sufficient sodium and a step sec—
tor used to obtain a series of suitable spectrograms. An Ilford R-40
plate in the visible range was used. A 3 minute developing time in

caustic-hydroquinone at 18°C, 15 minutes fixing time using Kodafix rapid-
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fixer and 15 minutes washing time in tap water was found suitable for the
purpose.
‘A general reference to spectrochemical analysis may be found in ref-

erence (69).



A.s. !

Re
s

4.23
5.69
* 7.35
10.09
14.97

22.96

* Data above the asterisk symbol were not used for correlation.

Calculated experimental data

Fluidized bed data Table A.5-1 to A.5-8.

Re
o]

Im

0.443

0.469

0.525 -

0.575
0.655

0.751

Table A.5-1
56.16
0.106 cm
4071 cm3 »
1.23  gm/cmd
KC Sh

0.00616  31.04
0.00634  31.92
0.00702  35.36
0.00735  36.99
0.00776  39.07
0.00825  41.56
3.55 Re 0" 27 ‘

Sc

424,26
424,29
42404
424.08
424.11

424,14

0.976
0.834
0.640
0.488
0.347

0.241

0.433
0.391

0.336

0.281

0.228

0.181
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Re
o

Re
s

4.00
4.54
5.50
7.39
* 8.92
10.62
10.62
i3.32
15,22
“16.04
17.81
20.35

22.22

* Data above asterisk symbol were not used for correlation.

Im

43.72

1

d = 0.0938
= 5.65

= 1.23

0.488
0.486
0.526
0.581
0.613
0.637
0.647
0.687
0.748
0.729
0.766
0.799

0.810

= 3.118 Re

cm

cm3

c;‘l

0.00613
0.00653
0.00671
0.00724
0.00735
0.00757
0.00757
0.00785

0.00803

.0.00814

0.00827

0.00835

0.00855

-0.844
s

Table A.5-2a

Sh

27.36
29.12
29.93
32.26
32.78
33.76
33.75
35.02
35.82
36.30
36.87
37.27

38.11

Sc

424,71
424.50
424,77
424,60
424.86
424.88
424;66
424,68
424.93
424,70
424,71
424.95

424.73

0.910
0.854
0.724
0.581
0.489
0.423
0.423
6.350
0.313
0.301
0.275
0.244

0.228

- 0.444

0.415

0.381

0.338

0.300

0.269

0.274

0.240

0.234

0.219

0,211

0.195

0.185
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Re

2.22
3.54
3.94
5.43
6.52

17.38
.8.14

* 8.86

9.59
10.59

11.42

* Data above asterisk symbol were not used for correlation.

-

Re
o

In

= 43.72

= 0.0938 cm

= '5.62 cm3
= 1.23 gm/cm3

€ K,

0.452 0.00505
0.491 0.00546
0.465 0.00563
0.544 0.00659
0.574 0.00692
0.588 0.00714
0. 644 0.00736
0.656 0.00746
0.671 0.00747
0.686 0.00770
0.708 0.00775
. 3,118 3é;°°84°

Table A.5-2b

Sh

22,52
24,31
25.09
29.37'
30.83
31.81
32.83
33.27
33.32
34.35

34.57

Sc

424.24

424,37

- 424,39

424.43
424 .46
424 .43
424,68
424,69
424.71
424.72

424,73

1.350
0.914
0.847
0.719
0.630

0.574

0.537

0.500

0.462

0.432

©0.403

0.610

- 0.449

0.394
0.391
0.362
0.338
0.346
0.328
0.310

0.296

0.285
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" Re
o

ReS
1.40
1.62
1.78

- 1.99
2.24
2.89
3.54
* 5.13
6.51
7.58
9.64
10.45
11.15
11.89
12.90
16.07

20.80

% Data above asterisk symbol were not used for correlation.

In

29.98

0.0650

= 4,64

-

= 1,32

0.481
0.481
0.481
0.481
0.481
0.486

0,519
0.569
0.624
0. 645
0.702
0.726
0.734
0.747
0.770
0.821

0.892

= 2.567 Re

cm
cm3

. gx_n/cm3
E&
0.00665
0.00683
0.00687
0.00718
0.00680
0.00748
0.00753
0.00868
0.00915
0.00922
0.00958
0.00981
0.00989
0.01010
0.01004
0.01083

0.01095

-0.827
s

‘Table A.5-3

Sh

18.15

18.65

18.75

19.59
18.57
20.42
20.52
23.65
24.93
25.12
26,12
26.75
26.98
27.54
27.39
29.50

29.84

Sc
336. 31
336.36
336.39
336.42
336.48
336.53
335.70
335.75
335.77
335.79
335.81
336.02
336.02
336.03
336.04
335.57

335.58

1.861
1.656
1.515

1.419

1.919

1.015
0.833
0.664
0.551
0.477
0. 390
0.363
0.348
0.333
0.305
0.264

0.206

0.896
Q.797
0.729
0.683
0.573
0.493
0.433
0.378
0.344
0.308
0.274
0.267
0.256
0.249
0.235
0.217

0.184
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Re
s

1.19

1.26

1.37
1.58
1.81
1.86
l.éb
2.17
2.43
* 2.82
"3.92
4,65
5.22
9.42
11.83
12.67
13.38
‘13.80
14.50
15.15
15.63
-16.15
16.30

17.74

% Data above asterisk synbol were not used for correlation.

Im

o = 2L.41
"= 0.0669 cm
"= 5,26 cm?
"= 1.23 gm/cm3
€ EC
0.475 0.00450
0.534. 0.00481
0.526 0.00415
0.518 0.00447
0.511 0.00546
0.561 0.00466
0.518 0.00479
0.515 0.00516
0.534 0.00565
0.562 0.00624
0.614 0.00690
0.638 0.00715
0.682 0.00704
0.786 0.00788
0.841 0.00828
o.ssé 0.00862
0.862 0.00855
0.864 0.00859
0.887 0.00866
0.903 0.00869
0.894 0.00902
0.920 0.00888
0.923 0.00899
0.939 0.00922
= 2.188 Re;°'8°5

Table A.5-4

" Sh

14.30
15.27
13.21
14,21
17.36
14.78
15.24
16.42
17.96
19.82
21.89
22,69
22.34
25.03
26.28
27.36
27.15
27.25
27.47
27.56
28.59
28.15
28.48

29.20

Sc
424.59
423.49
424.52
424,55
424.71
423.61
424.61
424,63
424,83
423.70
423.76

423.80

423.78

423.86
423.75
423.76
423.76
423.48
423,49
423.49
422.97
423.50
423.03

423.04

1.601
1.611
1.283
1.197
1.275

1.060

1.066°

1.008
0.985

0.937

0.744

0.649
0.570
0.354
0.296
0.288
0.270
0.263
0.252
0.242
0.244
0.232
0.233

0.219

0.761
0.860
0.675
0.620
0.652
0.595
0.552
0.519
0.526
0.526
0.457
0.414

0.389

0.278

0.249
0.247
0.233
0.227
0.224
0.219
0.218
0.214
0.215

0.206
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Re
s

2.47
2.61
2.67
4.34
4.53
9.21

19.39

Re
o

20.35

1

0.0669

9.07

0.565
0.573
0.577
0.662
0.669
0.824

0.824

2.204 Re

Table A.5-5

cm’

cm3

gm/cm3’

K, Sh
0.00599  19.60
0.00633 20,68
0.00642 20.98
0.00678 22.17

0.00672 21.97
0.00755 24.70

0.00839 27.42

-0.809
5.

Sc

451.66
451.66
451.66
451.66
451.66
451.66

451.66

1.032

1.031

1.026

0.666

0.633

0.349

0.381

-

0.584
0.591
0.591
0.441
0.423
0.288

0.314
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" Re
o

Re
) 3

1.65
1.90
2.50

% 2.80
3.42
4.03
4.05
5.02
5.53
5.99
7.11
8.81
9.95

11.04

- 11.64

* Data above asterisk symbol were not used for correlation.

In

= 20.09
= 0.0581 cm
= 4.23 cm3
= 1.32 gm/cm3
€ fé
0.473 0.00503
6.493 0.00520
0.542 0.00525
0.567 0.00605
0.59%4 0.00651
0.630 0.00671
.0.632 0.00675
0.662 0.00697
0.681 0.00712
0.703 0.00708
0.734 0.00740
0.786 0.00767
0.808 0.00797
0.829 0.00807
0.845 0.00808
= 1.874 Re "%

Sh

13.88
14.35
14.49
16.71
17.97
18.501
18.66
19.27
19.69
19.56
20.46
21.22
22‘. 00
22.32

22.34

Table A.5-6

Sc

423.88
423.92
424,00,
424,69
424,02
424,77
424,73
424,77
424 .83
424,12
424.83
424.86
424,18
424,64

424 .89

1.119
1.008
0.773
0.795
0.701
0.612
0.614
0.511
0.474
0.435
0.383
0.321
0.294
0.269

0.255

0.530
0.497
0.419
0.450
0.416
0.386
0.388
0.338
0.323
0.306
0.281
0.252
0.238
0.223

0.216
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Re
s

1.68
1.91
2.75
3.44
3.77
4.07
4,49
‘5.20

5.63

s 6.43

Im

Table A.5-7

= 8,40

"= 0.0396 cm
= 4.46 cm3

‘= 1,32 gm/cm®

€ EE . Sh

0.645 0.00671 ~ 12.62

" 0.654 0.00680 12.82
0.728 0.00763 14.36
0.768 0.00794 14.98
0.799 0,00835 15.73
0.800 0.00824 15.55
0.839 0.00877 16.51
0.872 0.00879 16.60
0.901 0.00921 17.35
0.923  _0.00940 17.75
= 1.457 Re;0'739

Se

424,22
425.22
424.38
425.43
424,46
425.48
424,50
425.54
424 .56

425.59

0.998
0.895
0.695
0.580
0.556
0.509
0.490
0.425
0.410

0.367

0.644 .

0.585
0.507
0.445
0.444
0.407
0.411
0.370
0.370

0.339
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Ref.

Table

A.5-1

A.5-2a

"A.5-2b

A.5-3
A5
A.5-5
A.5-6

A.5-7

Re
o

56.16
43.72

43.72

-29.98

21.41

20.35
20.09

8.4

Table A.5-8
-q—i BO

-0.859 0.837
-0.844°  0.850
-0.840 0.862
-0.827 0.843
-0.805 0.860
-0.809 0.868
-0.809 0.742
-0.739  0.877

Npredicted

2,97

3.05

3.05
3.17
3.28
3.29
3.30

3.60

Nexpt.

3.16
3.16
3.67
3.15
3.59
3.50
3.56

3I 60
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Single particle results

d T R T Re; Eéx103 Sh Se j

em °c gm/em3 cm/sec
0.0602  24.1 1.28 7.18 . 6.04 11.75  440.83  0.215
0.0626 . 23.8 1.28  20.53  8.63  26.28  447.09  0.167
0.0735 24,0  1.28  30.35 8.6l 30.67  443.47  0.133
0.1443  23.8  1.20  94.66° 10.26  72.00  447.09  0.100
0.0418  23.7 1.28 8.41 7.43  15.11  448.00  0.235
0.0619  24.7  1.28  20.67 9.18  27.18  430.40  0.174
0.0489 24,3 1.28  11.63  7.83  18.46  437.33  0.209
0.0980  24.7 1.20  42.60  7.94  37.23  430.40  0.116

0.0646 "24.3 1.28 22.12 8.38 26.08 437.33 0.155

0.0377 24.6 1.28 6.67 - 10.57 19.12 432,08 0.379
0.1405 24.7 | 1.20 90.61 6.68 | 44.88 429.54 0.066
0.6634 24.7 1.28 23.19 7.57 24.05 430.40 0.13?
0.1023 .  25.0 1.20 47.07 6.53 31.53 426.12 0.089
0.0544 24.9 1.28 15.36 8.97 22.69 426.97 0.196
0.1270 24.9 1.20 15,24 - 8.34 51.82 426.97 0.092
0.0448 24.9 1.28 10.32 9.34 20.40 427.82 0.262

0.0991 24.8 1.20 45.23 8.11 39.22 428.68 0.115
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A.6., - 'Sample of particle properties

A typical particle size distribution is shown in Fig., A.6-1. The
surface’avefaged mean diameter of this sample is 0.0950 ¢m and the stand-
dard deviation i;. +0.0044, Since the average of the population is not
known a ft' test was made to estimate the deviation of the population mean
from the sample mean., - For 95% confidence limit the popﬁlation mean is
.within 1.872 of the sample mean.

Fig. A.6-2 shows the variation of resin diameter Qith loading. 1In
the figure 'Q denotes resin loading, i;e. the ratio of the amount og
Na© in the particle to the total capacity of the particle and dQ denotes
the ratio of diameter of‘particle in H+ form to that of mixed i.e.
(H+,Na+) form. The density of particles were calculated determining
particle terminal Reynolds number Reo and using the correlation (64)

1.687 s

Ga 18 Re0 + 2.7 Re0 for 3.6 < Ga < 10°

whére
a3 plp, - p) g
Ga = and is known as the Galileo number.

- uz‘

Here Py is the density of the particle,
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Fig. A.6-1

A typical histogram of particle diameter:

4.75 to 6.25 microscope intervals
= 0.0254 cm .
Mean diameter of sample 0.0950 cm
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1.022

Fig. A.6-2 : variation of resin diameter
with loading in about
1072 (N) NaOH solution.
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