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Engineering Process Model for High-Temperature Electrolysis System 

Performance Evaluation 

C. M. Stoots, J. E. O’Brien, M. G. McKellar, G. L. Hawkes, and S. J. Herring 

Idaho National Laboratory 

Introduction 

In order to evaluate the potential hydrogen production performance of large-scale High-
Temperature Electrolysis (HTE) operations, we are developing an engineering process model at 
INL using the commercial systems-analysis code HYSYS.  Using this code, a detailed process 
flowsheet has been defined that includes all of the components that would be present in an actual 
plant such as pumps, compressors, heat exchangers, turbines, and the electrolyzer.  Since the 
electrolyzer is not a standard HYSYS component, a custom one-dimensional electrolyzer model 
was developed for incorporation into the overall HYSYS process flowsheet.  This electrolyzer 
model allows for the determination of the operating voltage, gas outlet temperatures, and 
electrolyzer efficiency for any specified inlet gas flow rates, current density, cell active area, and 
external heat loss or gain.  The one-dimensional electrolyzer model was validated by comparison 
with results obtained from a fully 3-D computational fluid dynamics model developed using 
FLUENT.  This report provides details on the one-dimensional electrolyzer model, the HYSYS 
process model for a 300 MW HTE plant, and some representative results of parametric studies 
performed using the HYSYS process model. 

Electrolyzer Model for System Analysis 

In general, for an operating electrolysis stack, there will be a temperature change associated 
with the electrolysis process.  For these cases, the energy equation for electrolysis process can be 
written as: 
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where Q  is the external heat transfer rate to or from the electrolyzer, W is the rate of electrical 

work supplied to the electrolyzer, iN is the molar flow rate of each reactant or product, 
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sensible enthalpy for each reactant or product.  Applying the energy equation in this form, all 
reacting and non-reacting species included in the inlet and outlet streams can be accounted for, 
including inert gases, inlet hydrogen (introduced to maintain reducing conditions on the 
steam/hydrogen electrode), and any excess unreacted steam.  In general, determination of the 
outlet temperature from Eqn. (23) is an iterative process.  The heat transferred during the process 
must first be specified (e.g., zero for the adiabatic case).  The temperature-dependent enthalpy 
values of all species must be available from curve fits or some other data base.  The solution 
procedure begins with specification of the cathode-side inlet flow rates of steam, hydrogen, and 
any inert carrier gas such as nitrogen (if applicable).  The inlet flow rate of the sweep gas (e.g., 
air or steam) on the anode side must also be specified.  Specification of the gas flow rates allows 



for the determination of the inlet mole fractions of steam, hydrogen, and oxygen that appear in 
the Nernst equation.  The steam mole fraction is expressed in terms of the hydrogen mole 
fraction as 1-yH2-yN2.

The current density and active cell area are then specified, yielding the total operating 
current.  Care must be taken to insure that the specified inlet gas flow rates and total cell current 
are compatible.  The minimum required inlet steam molar flow rate is the same as the steam 
consumption rate, given by: 
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which is of course also equal to the hydrogen production rate.

Once the total and per-cell hydrogen production rates are known, the outlet flow rates of 
hydrogen and steam on the cathode side and oxygen on the anode side can be determined.  The 
flow rates of any inert gases, the anode-side sweep gas, and any excess steam or hydrogen are 
the same at the inlet and the outlet.  Once all these flow rates are known, the summations in Eqn. 
(1) can be evaluated.  The product summation must be evaluated initially at a guessed value of 
the product temperature, TP.

The operating voltage corresponding to the specified current density is obtained from: 
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where the stack area-specific resistance, ASR(T), must be estimated and specified as a function of 
temperature.   The cell-mean Nernst potential can then be obtained from an integrated Nernst 
equation:
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where yi, O2, A is the anode-side inlet mole fraction of oxygen, etc.  Note that the upper limit of 
integration on the temperature integral, TP, is initially unknown.  Once the ASR and the mean 
Nernst potential are known, the operating voltage is obtained from Eqn. (3) and the electrical 

work term in Eqn. (1) is obtained from IVW op .  An algorithm then must be developed to 

iteratively solve for the product temperature, TP, in order to satisfy Eqn. (1).  This algorithm can 
then be imbedded in a loop so that a full numerical “sweep” can be performed.  We have 
implemented this procedure in MathCad.  The MathCad model provides accurate estimates of 
electrolyzer operating voltage (and corresponding electrolyzer efficiency) and outlet 
temperatures, for any specified electrolyzer heat loss or gain, gas flow rates, current density, and 
per-cell ASR(T).  This electrolyzer model was developed for incorporation into system-level 
electrolysis plant models being developed using HYSYS system simulation software.  With a 
realistic electrolyzer model incorporated into the overall HYSYS plant model, good estimates of 



overall hydrogen-production efficiencies can be obtained over a wide range of prospective 
operating conditions. 

Predictions obtained from the 1-D integral model have been compared to results obtained 
from a fully 3-D FLUENT simulation.  Complete details of the FLUENT electrolysis stack 
model are provided in [1, 2].  A condensed description is presented here.  The numerical model 
developed for this paper was based on the geometry of a single SOEC cell taken from the stack 
described previously.  The numerical domain extends from the center plane of one separator 
plate to the center plane of the next separator plate.  Symmetry boundaries are applied at the top 
and bottom of the model.  Three representations of the numerical model are presented in Figure 
1.  In the top left portion of Figure 1, the full model is shown to scale.  Since the model includes 
only one cell, the model geometry is quite thin in the vertical (z) direction.  To show more detail, 
the model is shown in the bottom left portion of Figure 1 with a vertical exaggeration of 10× in 
the z-direction.  An exploded view with the 10× vertical exaggeration is shown in the right half 
of the figure.

 In the exploded view, the bottom element is the bottom separator plate.  Since we are 
trying to represent a unit cell extracted from a larger stack, the bottom and top separator plates in 
the numerical model are only half as thick (i.e., 0.19 mm) as the hardware separator plates.  
Therefore, the top and bottom boundaries of the numerical model represent symmetry planes and 
the boundary conditions on those faces are set accordingly.  The edge rails are shown attached to 
the bottom separator plate.  In the stack hardware, the edge rails are fabricated from the same 
material as the separator plates, but they are separate pieces. 

 The next element in the numerical model is the steam/hydrogen flow channel.  The 
flow channels are the regions in the stack between the separator plate, the edge rails and the 
electrodes in which the corrugated/perforated “flow fields” are located.  In the FLUENT model, 
the steam/hydrogen flow channel has been specified as a high-porosity porous-media region with 
metallic nickel as the solid material and with anisotropic permeability, much higher in the 
primary flow direction than in the cross flow directions.  The height of the flow channel is set by 
the thickness of the edge rails, 1.019 mm. 

 The next three layers in the numerical model are associated with the 
electrolyte/electrode assembly, as shown in the right half of Figure 1.  The FLUENT SOFC 
module treats the electrolyte as a 2-D planar element.  Therefore the electrolyte in the model has 
geometrical thickness of zero.  On either side of the electrolyte are the electrodes which are 
created with 3-D elements.  Therefore, the electrolyte/electrode assembly in the model is only as 
thick as the two electrodes.  Around the outer periphery of the electrolyte/electrode assembly, we 
have included an “insulator” with the properties of YSZ.  The insulator prevents an electrical 
short circuit between the top and bottom edge rails.  No ionic transport occurs through this 
insulator.

 The next element in the numerical model is the air/oxygen flow channel.  It has also 
been specified as a high-porosity porous media region with ferritic stainless steel as the solid 
material and with the same anisotropic permeabilities and flow channel height used in the 
steam/hydrogen flow channel.  The top separator plate and edge rails are identical to those on the 
bottom, but the edge rails are oriented perpendicular to the bottom edge rails to allow for the 



cross-flow arrangement.  The bottom separator plate in the FLUENT model serves as the 
electrical ground and the top separator plate serves as the current source. 

 Additional parameters specified in the numerical model include the electrode exchange 
current densities and several gap electrical contact resistances.  These quantities were determined 
empirically by comparing FLUENT predictions with stack performance data.  The FLUENT 
model uses the electrode exchange current densities to quantify the magnitude of the activation 
overpotentials via a Butler-Volmer equation (Prinkey et al., 2004).  The gas flow inlets are 
specified in the FLUENT model as mass-flow inlets, with the gas inlet temperatures are set at 
1103 K and the inlet gas composition determined by specification of the mass fraction of each 
component.  The gas flow rates used in the model were the same as those used for the 
experimental base case, on a per-cell basis.  For example, the base case for the steam/hydrogen 
inlet used a total inlet mass flow rate of 8.053×10-6 kg/s, with nitrogen, hydrogen and steam mass 
fractions of 0.51, 0.0074, and 0.483, respectively.  The base case air flow rate was 4.33×10-6

kg/s.

Details of the core mass, momentum, energy, and species conservation and transport 
features of FLUENT are documented in detail in the FLUENT user manual (FLUENT, 2004).  A 
solid-oxide fuel cell (SOFC) model adds the electrochemical reactions, loss mechanisms, electric 
field computation, and electrode porous media constitutive relations (Prinkey et al., 2004).  This 
reference also documents the treatment of species and energy sources and sinks arising from the 
electrochemistry at the electrode-electrolyte interfaces. The FLUENT SOFC user-defined 
subroutine was modified for our HTE work to allow for operation in the SOEC mode.  Model 
results provide detailed profiles of temperature, Nernst potential, operating potential, anode-side 
gas composition, cathode-side gas composition, current density and hydrogen production over a 
range of stack operating conditions.

Figure 1.  Fluent single-cell SOEC model. 



Representative results obtained from the integral electrolyzer model for an adiabatic case are 
presented in Figs. 2 and 3, along with results obtained from FLUENT.  Fig. 2 shows predicted 
voltage-current characteristics and Fig. 3 shows predicted gas outlet temperatures.  The 1-D 
integral model predicts somewhat higher operating voltages compared to the FLUENT results.  
This makes the 1-D model conservative since higher operating voltages correspond to lower 
electrolysis efficiencies.  Note that, for an operating voltage near the thermal minimum (~1.06 
V), both models predict outlet temperatures for this particular adiabatic case that are about 30ºC 
lower than the inlet temperatures.  Per-cell gas flow rates for this case were based on the flow 
rates used in recent planar HTE stack tests [3, 4].  The 1-D model also predicts the correct value 
of the thermal neutral voltage for 800ºC, 1.287 V.  At this operating voltage, the outlet 
temperatures are equal to the inlet temperatures under adiabatic conditions.  The 1-D model is 
also useful for assessing the effect of using a steam sweep rather than an air sweep on the oxygen 
side.  Use of a sweep gas that does not contain oxygen is advantageous because it reduces the 
Nernst potential, thereby increasing the electrolysis efficiency for a specified current density.  
We are considering the use of steam for the sweep gas since it would be relatively easy to 
separate the steam from the produced oxygen by condensation.  The produced oxygen then can 
be sold as a commodity.  Incorporation of the 1-D model into our HYSYS system simulation will 
enable a broad range of parametric studies. 

Overall Process Thermal-toHydrogen Efficiency

In order to assess the overall hydrogen production efficiency of a large-scale HTE process, 
the entire process must be defined, including all of the important components that will be 
required.  The feedstock for any large-scale HTE process will be liquid water at ambient 
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Figure 2.  Operating voltage as a function of current density for adiabatic electrolyzer 
operation, predicted from a 1-D integral model and from a full 3-D FLUENT simulation. 



temperature and pressure, and the products will be hydrogen and oxygen, ultimately also at 
ambient temperature.  The HTE process may occur at elevated pressure, so the products may also 
be delivered at elevated pressure.  In order to maximize the overall process efficiency, it is 
essential to recuperate as much of the process heat as possible. 

To compare the performance of the HTE process to alternate hydrogen production 
techniques, we have adopted a general efficiency definition that can be applied to any thermal 
water-splitting process, including HTE, low-temperature electrolysis (LTE), and thermochemical 
processes.  Since the primary energy input to the thermochemical processes is in the form of 
heat, the appropriate general efficiency definition to be applied to all of the techniques is the 
overall thermal-to-hydrogen efficiency, H.  This efficiency is defined as the heating value of the 
produced hydrogen divided by the total thermal input required to produce it.  Either the low 
heating value, LHV, or the high heating value, HHV, of the hydrogen can be used.  From a 
process efficiency viewpoint, since the feedstock is liquid water, it makes sense to use the high 
heating value.  From a utilization viewpoint, depending on the application, it may make more 
sense to use the low heating value.  We will use the low-heating-value definition in this report: 
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The denominator in this efficiency definition quantifies all of the net thermal energy that is 
consumed in the process.  For a thermochemical process, this summation includes the direct 
nuclear process heat as well as the thermal equivalent of any electrically driven components such 
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as pumps, compressors, etc.  The thermal equivalent of any electrical power consumed in the 
process is the power divided by the thermal efficiency of the power cycle.  We are using an 
assumed power-cycle thermal efficiency of 45% for the comparisons made in this paper. An 
advanced power cycle driven by a high-temperature nuclear reactor should easily be able to 
achieve this thermal efficiency value [7].  For an electrolysis process, the summation in the 
denominator of Eqn. (5) includes the thermal equivalent of the primary electrical energy input to 
the electrolyzer and the secondary contributions from smaller components such as pumps and 
compressors.  In additional, any direct thermal inputs are also included.  Direct thermal inputs 
include any net (not recuperated) heat required to heat the process streams up to the electrolyzer 
operating temperature and any direct heating of the electrolyzer itself required for isothermal 
operation.

HYSYS Model

We are using HYSYS process-modeling software to evaluate the overall performance of a 
large-scale HTE plant.  The HYSYS model provides process conditions (T, P), mixture 
compositions, and flow rates for the various flow streams at the numbered locations shown in 
Figs. 4 - 6.  It also provides compressor and heater power requirements, and heat exchanger 
sizing (UA) information.  Three different HYSYS process flow diagrams were developed for this 
study, corresponding to the three different oxygen-side sweep conditions that were considered: 
air sweep, steam sweep, and no sweep.  The HYSYS process flow diagram that was developed 
for the air-sweep case is shown in Fig. 4.  In the diagram, the liquid or gas flow streams are 
shown in blue.  Power and heat inputs are shown in red/brown.  The HTE plant model has been 
designed to recover as much heat from the outlet streams as possible.  Nevertheless, due to the 
relative heat capacity rates of the product gas streams and the liquid water inlet stream, net heat 

Figure 4.  HYSYS process flow diagram for a 300 MW HTE plant with air sweep. 



addition will always be required to supply at least some of the enthalpy of vaporization of the 
liquid water and to boost the electrolyzer inlet stream (steam/hydrogen) to the desired stack inlet 
temperature (800-850ºC).  Therefore the overall efficiency predictions given by Eqn. (8), 
presented in Fig. 5, with the control volume drawn only around electrolyzer are optimistic.  In a 
full-scale plant the net heat for the low- and high-temperature heaters would ideally be supplied 
as process heat from the reactor, assuming the reactor outlet temperature is high enough.  Heat of 
vaporization can be supplied at relatively low temperature, whereas the final temperature boost 
to the stack operating temperature will require high-temperature nuclear process heat.  For an 
HTE plant, it may be possible to take advantage of power-cycle waste-heat rejection to preheat 
the liquid water feedstock.  This strategy would directly boost the overall hydrogen-production 
efficiency since this waste heat input would not have to be included in the denominator of Eqn. 
(5).  This possibility will be considered in future studies. 

Referring to Fig. 4, the process feedstock (make-up) water enters in the bottom left.  The 
water is pumped to the process operating pressure in the liquid phase (stream #2).  We have 
evaluated system operation at both atmospheric pressure and at 5 MPa.  This make-up stream is 
combined with water condensate returned from the hydrogen/steam product stream (stream #17) 
to produce stream #3.  The water then enters the low-temperature steam/hydrogen heat 
exchanger designed to preheat the water to at least the saturated liquid state (265°C at 5 MPa).  
This is a recuperating heat exchanger that extracts heat from the outlet hydrogen/steam gas 
stream.  This heat exchanger also serves to condense some of the steam from the hydrogen/steam 
outlet gas mixture, lowering the dewpoint temperature of that stream to near ambient.  Additional 
heat recuperation from the outlet air/oxygen stream is accomplished in the low-temperature 
sweep gas regenerator. 

External net heat addition required to fully vaporize the inlet H2O is supplied by the low-
temperature process heater.  As the name implies, this heat can be supplied at relatively low-
temperature, which improves the second-law efficiency of the process.  The efficiency definition 
given in Eqn. (5) is strictly a first-law efficiency.  Downstream of this heater, the steam is mixed 
with sufficient hydrogen to yield a gas mixture of at least 5% hydrogen and 95% steam, on a 
molar (or volume) basis.  Although not required thermodynamically, the hydrogen helps to 
maintain reducing conditions at the electrolysis stack cathode, to prevent oxidation of the nickel 
cermet material.  Note that the hydrogen is recycled from the electrolyzer outlet stream, using a 
small recirculation compressor.  The compressor, which will operate at 5 MPa is required to 
overcome the various pressure drops in the system.  A mass-flow controller can used to regulate 
the flow rate of the hydrogen to achieve the desired inlet mixture composition of 5 – 10% 
hydrogen by volume. 

Downstream of the hydrogen addition tee, the gas mixture is sent through a high-temperature 
heat exchanger.  This heat exchanger recuperates high-temperature heat from the hot 
hydrogen/steam electrolyzer-outlet gas.  This heat exchanger is designed to preheat the inlet 
steam/hydrogen gas stream to as close to the desired electrolyzer operating temperature as is 
practical.  Before entering the stack, the gas inlet stream passes through the high-temperature 
process heater to boost the gas mixture to the stack inlet temperature.  A baseline stack operating 
temperature of 827ºC (1100 K) has been used in our performance analyses.  The effect of 
varying this operating temperature has also been examined. 



Downstream of the high-temperature process heater, the steam/hydrogen mixture enters the 
electrolyzer, which has been incorporated directly into HYSYS as a module that is based on the 
1-D model described previously.  The HYSYS electrolyzer module includes two inlet streams, 
one for steam/hydrogen and the other for a sweep gas.  Possible sweep conditions considered in 
this study include air sweep, steam sweep, and no sweep.  The electrolyzer module also includes 
an input for the electrolyzer power and an input for direct heat addition.  Any value of heat 
addition can be input to the model.  The primary heat addition cases of interest are adiabatic and 
isothermal.  Zero heat addition corresponds to adiabatic cases.  Since there is no sensible 
enthalpy change for the isothermal case, the magnitude of the heat transfer required to achieve 

isothermal operation, )(TQ , can be calculated directly from the following form of the first law: 
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and since the hydrogen production rate, 2HN is equal to I/2F, and the thermal neutral voltage, 

Vtn = HR(T)/2F,
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Note that this result predicts positive heat transfer to the electrolyzer for operating voltages 
less than thermal neutral and negative heat transfer (i.e., heat rejection from the electrolyzer) for 
operating voltages greater than thermal neutral.   

The outlet streams leave the electrolyzer at a temperature that is dependent on the total flow 
rate, the amount of heat addition (e.g., isothermal or adiabatic electrolysis) to the electrolyzer, 
and the operating voltage (e.g., see Fig. 3).  The operating voltage also has a significant effect on 
the electrolysis efficiency.  We can derive an expression for the hydrogen production efficiency 
as a function of the operating voltage for an electrolysis process.  For a control volume drawn 
only around the electrolysis stack, with We=VI, inlet and outlet streams at T, P, direct application 
of the first law and the definition of the overall thermal-to-hydrogen efficiency with the 
numerator expressed as the enthalpy of reaction at the operating temperature, HR yields: 
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Therefore lower operating voltages always yield higher efficiencies.  Low operating voltages can 
be achieved in practice, with reasonable current densities, only if the electrolyzer area-specific 
resistance is low.  Note that at Vop = Vtn, Eqn. (8) yields T = P.  Operation at the thermal neutral 
voltage yields the same overall hydrogen production efficiency as that of the power cycle.  
Letting Vop = Eo = GR/2F, Eqn. (8) yields 
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which is the overall efficiency corresponding to operation at the reference open-cell potential, Eo.
This value is always higher than the power-production thermal efficiency.  The open-cell 
potential corresponding to the electrolyzer operating conditions, including temperature and gas 
partial pressures, is given by the Nernst equation: 
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For a specified temperature, the open-cell potential can be significantly lower than Eo for high 
steam mole fraction, low hydrogen mole fraction, low oxygen mole fraction, and low operating 
pressure.  For electrolysis, it is desirable to have as low of a Nernst potential as possible, since 
the operating cell current density is proportional to the difference between the operating voltage 
and the Nernst potential.  If the Nernst potential is low, a reasonable current density can be 
achieved with a low operating voltage, and therefore with high efficiency, according to Eqn. (9).  
The effect of operating potential on overall thermal-to-hydrogen efficiency is illustrated in Fig. 
5.  This figure shows a series of overall efficiency curves, over a range of assumed power-
production efficiency values for an electrolysis temperature of 800ºC.  Note that operating at any 
voltage lower than thermal neutral yields a hydrogen-production efficiency that is greater than 
the power-cycle thermal efficiency.  On the steam/hydrogen side of the electrolysis cell, the use 
of high inlet steam mole fraction and a high total steam flow rate is desirable, subject to the 
constraint that a hydrogen content of 5 – 10% must be used in order to maintain reducing 
conditions on the steam/hydrogen electrode.  On the oxygen side, a low average oxygen mole 
fraction is desirable.  Therefore, a non-oxygen-containing sweep gas should be considered with a 
high flow rate.  This is why we are considering the use of steam as a sweep gas on the oxygen 
side of these cells.  The steam can be separated from the oxygen later by a heat-recuperating 
condensation process, yielding a pure oxygen product at low temperature.   

As an example HTE operating condition, assume T = 800ºC, P = 1 atm, yH2O = 0.95, yH2 = 
0.05, yO2 = 0.05, ASR = 0.5 Ohm cm2, and P = 0.45.  Under these conditions, the Nernst 
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potential is 0.772 V.  If we wish to achieve a current density of 0.25 A/cm2, the required 
operating voltage would be 0.897 V, yielding a hydrogen production efficiency of 0.54 for the 
assumed power-production efficiency of 0.45.  So, with favorable operating conditions, high-
temperature electrolysis can yield overall hydrogen-production efficiencies that are significantly 
higher than the power-cycle thermal efficiency.  Furthermore, if the electrolysis process is 
powered by a high-efficiency advanced reactor/power cycle, overall thermal-to-hydrogen 
efficiencies greater than 50% can be achieved. 

Conventional low-temperature electrolysis would correspond to a power-cycle efficiency 
around 35% and, due to lower open-cell potentials and higher overpotentials,  a per-cell 
operating voltage in the 1.6 – 1.7 range, yielding overall thermal-to-hydrogen-production
efficiencies of less than 35%.

It should be emphasized that this discussion of overall thermal-to-hydrogen efficiency based 
on Eqn. (9) and Fig. 5 does not consider the entire HTE system.  The control volume for this 
discussion is drawn only around the electrolyzer and the inlet and outlet streams are assumed to 
be at the same high temperature (i.e., isothermal operation).  No consideration of heatup of the 
process streams to the electrolyzer temperature is included, so these efficiency values are 
optimistic.  Nevertheless, this analysis provides guidance for optimizing the performance of the 
electrolyzer itself.   

Returning to the discussion of the HYSYS system model, the hydrogen/steam outlet stream 
leaves the electrolyzer and passes through the high- and low-temperature heat exchangers for 
heat recuperation to the inlet stream.  At station 12 in Fig. 4, a low-temperature ambient cooler 
has been placed in the system.  This cooler is needed in some cases in order to insure that a high 
enough percentage of the steam is condensed out of the hydrogen product stream.  Steam content 
at station 13 should be less than 1%.  The condensate is recycled back into the main liquid water 
inlet flow at station 17.  A small water recycle pump (station 16) is required to overcome the 
various pressure losses through the system.   

As an alternate hydrogen separation strategy, Bischoff, et al., have investigated the use of 
high temperature inorganic membranes for the separation of hydrogen from steam without 
condensing the steam.  They found that a single stage could raise the H2 content of the product 
stream from 85 vol % to 94.4 vol % and that two stages could raise the H2 content from 75 vol 
% to 96.4 vol %.  Such membranes would reduce the amount of steam to be removed by eventual 
condensation by factors of 2.7 and 6.95 respectively.  See the Appendix for details. 

Sweep gas enters the system and is immediately sent through the sweep compressor to bring 
it up to system pressure, consuming significant sweep compressor power in the process.  This 
compressor also heats the inlet air significantly.  At station 10, the sweep gas enters a heat 
exchanger to recuperate heat directly from the hot electrolyzer-outlet air/oxygen gas mixture.  An 
additional sweep gas heater is required for the final temperature boost to gas up to the desired 
electrolyzer inlet temperature.  Downstream of the electrolyzer, the sweep gas is sent though the 
high-temperature air/oxygen heat exchanger and is then expanded through a turboexpander to 
recover some of the power required to compress the sweep gas in the first place.  Finally, the 
air/oxygen sweep gas is sent through the low-temperature sweep gas regenerator heat exchanger 
before being exhausted to the surroundings. 



A HYSYS process flow diagram that was developed for the steam-sweep case is shown in 
Fig. 6.  It is similar to the air-sweep case, but some reconfiguration of the recuperating heat 
exchangers was necessary in order to achieve better overall heat recovery from the process 
streams.  This case is complicated by the possibility of phase change on both the steam/hydrogen 
side and on the sweep side.  This factor can lead to temperature pinch problems in the heat 
exchangers.  On the steam/hydrogen side, the major difference between this flow diagram and 
the air-sweep case occurs at station 12, downstream of the low-temperature H2/water 
recuperating heat exchanger, where the hydrogen/steam product stream is sent to another 
recuperating heat exchanger (heat regenerator 2) to help preheat the steam sweep inlet line. 

On the sweep side, for this case, the sweep stream enters the system as ambient-temperature 
and ambient-pressure liquid water.  The water is compressed to the system operating pressure in 
the liquid phase, and then preheated by regenerator 1 from the low-temperature end of the sweep 
gas outlet line and by regenerator 2 from the hydrogen/steam outlet line.  The preheated liquid 
water is partially vaporized at the high-temperature O2/steam heat exchanger.  Complete 
vaporization and final temperature boost to the electrolyzer inlet temperature is provided by net 
high-temperature process heat addition at the sweep gas heater.  Downstream of the electrolyzer, 
the sweep gas is sent through the high-temperature O2/steam heat exchanger and is then 
expanded in the sweep gas turboexpander to recover useful power from the stream.  The 
steam/O2 stream is then sent through heat regenerator 1 before being exhausted to the 
surroundings.

Figure 6.  HYSYS process flow diagram for a 300 MW HTE plant with steam sweep. 



The process flow diagram developed for the no-sweep case is shown in Fig. 7.  For this case, 
the electrolysis stack would include only a single gas inlet stream (steam/hydrogen) and two gas 
outlet streams (hydrogen/steam and oxygen).  A sweep gas inlet is shown in Fig. 7, but its flow 
rate is set to zero.  Since the electrolysis cell produces oxygen, rather than consuming it as in the 
fuel-cell mode, a sweep gas stream is not necessarily required.  There has been some discussion 
of the possible need for a sweeping flow of air or steam to dilute the oxygen in order to avoid 
possible materials and safety issues related to handling of pure oxygen at 850°C.  From a 
thermodynamic efficiency standpoint, the use of a non-oxygen-containing sweep gas improves 
the electrolyzer efficiency, but there are also some disadvantages associated with the use of an 
air sweep.  First, dilution of the pure oxygen that is produced in the electrolysis stack with air 
would be wasteful since pure oxygen is a valuable commodity that could be sold as an 
electrolysis by-product.  Second, production of a sweeping flow of high-pressure air at even a 
modest flow rate requires a significant amount of compressor power, compared to the 
electrolysis stack power consumption, which would seriously degrade the overall process 
efficiency, if a corresponding outlet turboexpander is not used.  Finally, our research has 
indicated that pure oxygen can be safely handled at high temperature, if the right materials are 
used.  Possible materials for this application include inconel alloys with dispersed aluminum and 
niobium-55 titanium alloys. 

The flow diagram for the no-sweep case is very similar to the air-sweep case, but this flow 
diagram is simpler.  Compared to the air-sweep case, the sweep gas compressor, the high-
temperature air/oxygen heat exchanger, and the sweep gas heater are all eliminated, otherwise 
the diagrams are identical.

Figure 7.  HYSYS process flow diagram for a 300 MW HTE plant with no sweep. 



Results of Parametric Studies on a 300 MW HTE Plant

A summary of the cases that have been studied is provided in Table 1.  The second column in 
the table designates the sweep gas condition: air sweep, steam sweep, or no sweep.  The third 
column designates the electrolyzer thermal boundary condition: isothermal or adiabatic.  
Isothermal operation requires direct heating of the electrolyzer by some means.  The fourth 
column designates the per-cell area-specific resistance (ASR) of the electrolyzer stack at a 
temperature of 1100 K.  The ASR value used in the electrolyzer module is temperature- 
dependent per the following Arrhenius equation:

)(

10300
exp10973.3463.0)( 5

1100 KT
ASRTASR K

 (13) 

where ASR1100K represents the user-specified cell ASR at the temperature 1100 K.  This constant 
allows one to shift the entire ASR curve to higher or lower ASR values, to mimic lower or higher 
performing cells, respectively.  This equation for ASR(T) is based on empirical data obtained 
from an actual operating stack, modified to allow user specification of the ASR value at 1100 K.  
In order to show the trends that can be expected with higher or lower ASR, two values of 
ASR1100K have been included in this study.  The ASR1100K value of 1.25 represents a stack-average 
ASR value at 1100 K that should be achievable in the short term with existing technology.  The 
ASR1100K value of 0.25 is an optimistic value that has been observed in button cells, but will be 
difficult to achieve in a stack in the short term.  The temperature dependence of the ASR is 

Table 1.  Matrix of HYSYS test cases analyzed. 
Case # Sweep 

Gas
Electrolyzer
Thermal BC 

ASR at 
1100 K 

Steam 
Utilization

Inlet Temp 
(K) 

Pressure 
(MPa)

1 air isothermal 1.25 fixed 1100 5 
2 air isothermal 0.25 fixed 1100 5 
3 air adiabatic 1.25 fixed 1100 5 
4 air adiabatic 0.25 fixed 1100 5 
5 steam isothermal 1.25 fixed 1100 5 
6 steam isothermal 0.25 fixed 1100 5 
7 steam adiabatic 1.25 fixed 1100 5 
8 steam adiabatic 0.25 fixed 1100 5 
9 none isothermal 1.25 fixed 1100 5 

10 none isothermal 0.25 fixed 1100 5 
11 none adiabatic 1.25 fixed 1100 5 
12 none adiabatic 0.25 fixed 1100 5 
13 none isothermal 0.25 variable, high 

flow rate 
1100 5 

14 none isothermal 1.25 variable, low 
flow rate 

1100 5 

15 none adiabatic 0.25 variable, high 
flow rate 

1100 5 

16 none adiabatic 1.25 variable, low 
flow rate 

1100 5 

17 none isothermal 0.25 fixed 1100-1200 5 
18 none isothermal 1.25 fixed 1100-1200 5 
19 none adiabatic 0.25 fixed 1100-1200 5 
20 none adiabatic 1.25 fixed 1100-1200 5 



important for the adiabatic cases (since the outlet temperature in these cases is generally different 
than the inlet temperature) and for evaluating the effect of electrolyzer-inlet temperature on 
overall process efficiency.

The fifth column in Table 1 designates the steam utilization condition: fixed or variable.  All 
cases studied have an inlet steam composition of 95%, with 5% hydrogen.  Fixed steam 
utilization cases have an outlet steam composition of 5%, and 95% hydrogen.  For this case of 
fixed inlet and outlet compositions, the allowable inlet flow rate per cell of steam and hydrogen 
is dependent upon the current density and both must be varied simultaneously.  The sweep gas 
flow rate is similarly scaled in each case.  We have also run some cases with fixed inlet flow rate 
and composition, over a range of current densities.  In these cases, the outlet steam composition 
will vary.  These are the variable steam utilization cases.  For low ASR values, higher current 
densities are achievable and a higher flow rate is needed to avoid steam starvation in the range of 
operating voltages of interest (up to the thermal neutral voltage). 

Column 6 in Table 1 specifies the electrolyzer feed inlet temperature.  Most cases used an 
inlet temperature of 1100 K.  However, several cases were assessed for electrolyzer inlet 
temperatures of 1150 K and 1200 K.  The electrolyzer operating pressure and the final hydrogen 
product delivery pressure for all cases was 5 MPa. 

Results obtained from the HYSYS simulations are presented in Figs. 8 – 12.  For these 
figures, filled symbols represent adiabatic electrolyzer operation, and open symbols represent 
isothermal operation.  We are presenting primarily the overall thermal-to-hydrogen efficiency 
results, calculated using Eqn. (5).  The HYSYS model also provides many additional details on 
process conditions at numerous locations around the process loop.  Various process flow 
schemes and intermediate temperatures were studied to optimize the overall process efficiency.  
We anticipate that some further improvement in overall thermal-to-hydrogen efficiency can still 
be achieved via process flow modifications. 

Overall thermal-to-hydrogen efficiencies are presented in Fig. 8 as a function of electrolyzer 
current density and operating voltage for Cases 1 – 4 in Table 1.  Note that current density is 
directly proportional to the hydrogen production rate, in accordance with Eqn. (2).  The current 
density range for each case runs from a minimum value of 0.0625 A/cm2 to a maximum value 
that depends on ASR.  The maximum current density value for each case was selected to yield an 
operating voltage near or slightly above the thermal neutral voltage.  For our analyses, the per-
cell active area was assumed to be 225 cm2 (15 cm x 15 cm) and the number of cells was fixed at 
3.994 × 106.  This cell area and number of cells yields 300 MW of hydrogen production (based 
on LHV) for case 1 of Table 1 at a current density of 0.25 A/cm2.

For a specified ASR value and fixed steam utilization, lower current densities and the 
corresponding lower operating voltages yield higher overall efficiencies.  Overall efficiencies 
plotted versus electrolyzer operating voltage tend to collapse onto a single curve, as expected.  
Note that at Vop = Vtn the overall thermal-to-hydrogen efficiency given by Eqn (8) would be the 
same as the power cycle efficiency (45%).  The overall thermal-to-hydrogen efficiency predicted 
from the overall process model is lower, however, due to incomplete heat recuperation of the 
sweep and steam streams, heat exchanger inefficiencies, and piping pressure losses.  At the 
lowest current densities (and operating voltages) the thermal-to-hydrogen conversion efficiencies 



did exceed the power cycle efficiency.  Overall trends indicate that isothermal electrolyzer 
operation is favorable over adiabatic, due to higher average electrolyte operating temperatures 
(and resulting lower ASR – Equation 13).  Also, the rate of efficiency degradation as a function 
of current density is greater for higher ASR electrolyzers. 

Fig. 9 presents the thermal-to-hydrogen efficiency results for steam sweep Cases 5 – 8.  
Trends are similar to those for an air sweep.  Surprisingly, from an overall process efficiency 
standpoint, the steam sweep cases resulted in slightly lower performance than the corresponding 
air sweeps.  As explained above, for electrolysis, it is desirable to have as low of a Nernst 
potential as possible, since the operating cell current density is proportional to the difference 
between the operating voltage and the Nernst potential (Equation 12).  On the steam/hydrogen 
side of the electrolysis cell, the use of high inlet steam mole fraction and a high total steam flow 
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Figure 8.  Overall thermal-to-hydrogen efficiencies (LHV) for Cases 1 – 4 (air 
sweep, fixed steam utilization, 1100 K electrolyzer inlet temperature, 5 MPa).



rate is desirable.  On the oxygen side, a low average oxygen mole fraction is desirable.  
Therefore, focusing only on the electrolyzer, a non-oxygen-containing sweep gas such as steam 
should lead to a higher efficiency than a sweep gas such as air.  This would apply to the entire 
process as well if total heat recuperation were possible.  However, the final exhaust temperature 
of the oxygen-laden steam sweep was approximately 350 K -- it was not possible to recover 
more from this “low-quality heat” stream in spite of the fact that it still contains significant latent 
and sensible heat. 

The thermal-to-hydrogen efficiency results for the case of no sweep gas are presented in Fig. 
10.  These cases exhibited overall thermal-to-hydrogen efficiencies as high as 46%, higher than 
the power-cycle efficiency.  Recall that this overall efficiency accounts for electrolysis 
irreversibilities, heat transfer inefficiencies, incomplete heat recuperation, and pumping losses.  
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Figure 9.  Overall thermal-to-hydrogen efficiencies (LHV) for Cases 5 – 8 (steam 
sweep, fixed steam utilization, 1100 K electrolyzer inlet temperature, 5 MPa).



This important result supports the earlier theoretical discussion that the overall thermal-to-
hydrogen efficiency can exceed the power-cycle efficiency under certain circumstances. 

For cases 1-12, the H2O / H2 feed flow rate was allowed to vary and the percentage steam 
utilization was fixed.  The effects of allowing the percentage utilization to vary for a fixed inlet 
mass flow rate are displayed in Fig 11 for various current densities and corresponding operating 
voltages.  The mass flow rate used for these cases was large enough to prevent steam starvation 
at the highest current density value used for each ASR value.  These results are quite different 
than the fixed utilization results.  The overall efficiencies for these cases actually tend to increase 
with increasing current density.  Also, the efficiencies for the four voltage sweeps (adiabatic vs. 
isothermal, 1.25 ASR vs. 0.25 ASR) do not collapse onto a single line, as did the fixed utilization 
cases.  Furthermore, for the range of current densities and voltages considered, the isothermal 
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Figure 10.  Overall thermal-to-hydrogen efficiencies (LHV) for Cases 9 – 12 (no 
sweep, fixed steam utilization, 1100 K electrolyzer inlet temperature, 5 MPa).  



cases exhibited a maximum efficiency at an intermediate current density.  For the low-current-
density cases, the fixed mass-flow constraint yields poorer heat recuperation, due to the presence 
of considerable excess steam.  Purely from the standpoint of electrolyzer efficiency, the presence 
of excess steam should yield higher efficiency, but the problem is with the inability to fully 
recuperate heat from the exiting excess steam.  As the current density and steam utilization are 
increased, the overall process efficiency achieves a maximum value, where the thermodynamic 
benefit of the excess steam (lower Nernst potential) outweighs the heat recuperation issue.

The effects of electrolyzer operating temperature on overall system performance, with fixed 
steam utilization, at a current density of 0.25, are shown in Fig. 12.  As expected, overall 
hydrogen production efficiency increases with increasing electrolyzer temperature.  Efficiencies 
for isothermal operation demonstrate the highest temperature dependency.  The overall process 
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Figure 11.  Overall thermal-to-hydrogen efficiencies (LHV) for Cases 13 – 16 (no 
sweep, fixed electrolyzer feed flowrate, 5 MPa).



efficiency for ASR1100 K = 0.25 and an isothermal electrolyzer approaches 47% at 1200 K inlet 
temperature.  Electrolyzer outlet temperatures are plotted versus electrolyzer inlet temperature in 
the bottom graph of Fig. 12.  Electrolyzer outlet temperatures depend strongly upon the ASR 
value and its temperature dependence (extent of ohmic heating).  Outlet temperatures for the 
lower ASR simulations remained below the corresponding inlet temperature.  The outlet 
temperatures for the higher ASR simulations displayed more complicated behavior, remaining 
higher than the inlet temperature up to approximately 1160 K inlet. 
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Figure 12.  Overall thermal-to-hydrogen efficiencies (LHV) and electrolyzer outlet 
temperatures for Cases 17 – 20 (no sweep, fixed steam utilization, fixed current 
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Comparisons to other Studies (Yildiz et al, MIT-NES-TR-002)

Yildiz et. al. [8] performed a design evaluation for an integrated system of high temperature 
steam electrolysis supported by a supercritical CO2 recompression Brayton cycle that is directly 
coupled to an advanced gas cooled reactor (SCO2-AGR).  The parametric studied considered the 
effects of reactor outlet temperature (550 C – 700 C) and subsequent power cycle efficiency, 
electrolysis process pressure (0.1 MPa – 7 MPa), electrolysis over-potential, and other factors 
upon overall hydrogen production efficiency.  They incorporated an adiabatic electrolyzer model 
at 900°C, consuming an inlet stream of pure steam, and no sweep gas.  In all cases their model  
utilized 100% of the inlet steam to produce outlet streams of pure H2 and pure O2 at 7 MPa 
delivery pressure.  Yildiz admits that this scenario is probably unrealistic due to electrolyzer 
material compatibility with high-temperature pure steam – some H2 is necessary to maintain 
reducing conditions in the electrolyzer.  Yildiz estimates that for the SCO2-AGR design the 
power-cycle efficiency is 45.3% to 46.6%, 49.5%-50.6%, and 51.3%-52.2% for reactor-outlet-
turbine-inlet temperatures of 550°C, 650°C, and 700°C, respectively.  For the range of operating 
conditions covered, Yildiz reported overall estimated thermal-to-hydrogen production 
efficiencies of 41.6% to 48.2%, based on LHV.

Yildiz et. al. [8] also utilizes a somewhat different approach to handling electrolysis 
irreversibilities.  Yildiz estimates the electrolyzer operating voltage from the Nernst voltage plus 
additional electrical potentials (over-potentials) required for overcoming process irreversibilities: 
activation of reactions for the evolution of H2 and O2 to the surface of the electrodes, mass 
transport of species to and within the electrodes and electrolyte, and the ohmic resistance against 
the diffusion of oxygen ions and electrons: 

)()()(, transportactivationNernstYildizop TVTV  (14) 

)( transportactivationtotal . (15) 

At very high temperatures, the ohmic resistance generally dominates these three irreversibilities.  
Yildiz considered three values for the total over-potential: 

)(*2.0),(*1.0,0.0 TVTV NernstNernsttotal . (16) 

These overpotentials are constants, and hence not functions of current density or temperature.   
The overall operating potential that is required for electrolysis, however, depends also on the 
hydrogen production rate per unit area which is directly proportional to the current density in the 
electrolytic cell.  In the present study, we estimate the operating voltage for the electrolyzer 
model via Eqn. (3), composed of the current density, cell ASR, and Nernst voltage.  Ohmic 
irreversibilities are composed of the product of the cell ASR and current density.  Therefore, our 
operating voltage is a function of both current density and electrolyzer temperature.    

Yildiz noted that overall thermal-to-hydrogen production efficiency dropped with increasing 
electrolyzer operating pressure, due to the increasing Gibbs free energy change of the electrolysis 
reaction with increasing pressure.  Yildiz notes, however, that an optimal pressure cannot be 
chosen based only upon plant efficiency values since an improvement in capital cost and 
feasibility is expected from downsizing of the electrolyzer unit at relatively high pressures. 



We thought it would be interesting to compare results of our HYSYS model to one set of 
conditions found in Yildiz et. al. [8].  A summary of this comparison is presented in Table 2.  
The SCO2-AGR system, for a reactor-outlet-turbine-inlet temperature of 550°C, has an estimated 
power cycle efficiency of 45.3% - 46.6%.  A value of 46% was chosen for use in our model.  
Since Yildiz uses overpotentials to estimate the operating voltage, our model was modified to 
also use overpotentials as well rather than ASR.  For an operating pressure of 7 MPa, 10% VNernst

over-potential, and conservative estimates for turbomachinery efficiency, and no power recovery 
on the O2 outlet stream, Yildiz reports an overall thermal-to-hydrogen production efficiency of 
41.6%.  Surprisingly, our modified model exactly matched this prediction.  We also considered 
isothermal operation of the electrolyzer with and without power recovery of the O2 product 
stream through an expansion turbine.  Best overall performance was obtained for isothermal 
operation with power recovery (44.5%). 

Summary and Conclusions

An engineering process model for a large-scale 300 MW High-Temperature Electrolysis H2

production facility has been developed at the INL.  This model links an INL-developed one-
dimensional electrolyzer model within the commercial HYSYS code.  Detailed process 
flowsheets have been defined that include all of the components that would be present in an 
actual plant such as pumps, compressors, heat exchangers, turbines, and the electrolyzer.  The 
electrolyzer model allows for the determination of the operating voltage, gas outlet temperatures, 
and electrolyzer efficiency for any specified inlet gas flow rates/compositions, current density, 
cell active area, and external heat loss or gain.

The one-dimensional electrolyzer model was validated by comparison with results obtained 
from a fully 3-D computational fluid dynamics model developed using FLUENT.  Process 
modeling results indicate that overall thermal-to-hydrogen efficiencies based upon LHV can 
exceed the power-cycle (electrical production) efficiency.  Thermodynamic evaluation of the 

Table 2.  Comparison of present study’s HYSYS results to a selected case from Yildiz et. al. [8]. 
 Yildiz et. al. [8] 

Selected Case 
Modified HYSYS Model Results 

Power cycle efficiency 46% 46% 46% 46% 46% 
Electrolyzer temperature 900°C 900°C 900°C 900°C 900°C 
Electrolyzer boundary 
condition

Adiabatic Adiabatic Isothermal Adiabatic Isothermal 

Overpotential 10% 10% 10% 10% 10% 
Electrolyzer 
inlet composition 

100% H2O 95% H2O,
5% H2

95% H2O,
5% H2

95% H2O,
5% H2

95% H2O,
5% H2

Electrolyzer 
outlet composition 

100% H2 5% H2O,
95% H2

5% H2O,
95% H2

5% H2O,
95% H2

5% H2O,
95% H2

Sweep None None None None None 
Electrolyzer pressure 7 MPa 7 MPa 7 MPa 7 MPa 7 MPa 
H2 final outlet pressure 7 MPa 7 MPa 7 MPa 7 MPa 7 MPa 
O2 outlet power recovery / 
Outlet pressure 

No / 
7 MPa 

No / 
7 MPa 

No / 
7 MPa 

Yes / 
0.1 MPa 

Yes / 
0.1 MPa 

Thermal-to-H2 eff. 41.6% 41.6% 43.63% 42.2% 44.5% 



electrolyzer alone indicates that minimizing the Nernst voltage through use of a steam sweep 
would maximize production efficiency.  This was not the case when the overall process was 
evaluated.  Unfortunately, loss of some “low quality” heat through the sweep gas is unavoidable.  
In fact, the use of a steam sweep yielded lower performance than the use of an air sweep.  
Overall process efficiencies favored the use of no sweep gas, despite the high oxygen 
composition. 

Isothermal electrolyzer operation was preferable over adiabatic due to higher average cell 
temperatures and corresponding lower ASR values.  The temperature dependence of ASR 
favored operation of the electrolyzer at as high a temperature as possible.  For a fixed inlet flow 
rate, the degree of steam utilization within the electrolyzer also had an effect upon overall 
process efficiency.  Overall process efficiency generally improves with increasing steam 
utilization.  However, to prevent damage to the electrolyzer, steam utilization should be kept 
somewhat below 100% (e.g., 95%) to avoid steam starvation.    
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Introduction 

An assessment has been initiated to determine the efficacy of inorganic membranes developed at 
Oak Ridge National Laboratory for the high-temperature separation and concentration of 
hydrogen as part of the high temperature electrolysis (HTE) system being evaluated for the 
Nuclear Hydrogen Initiative.  The overall goal of the assessment was to determine if the 
membrane technology is likely to improve the technical or economic viability of the HTE 
system.  The complete assessment will require performing analytical and experimental estimates 
of required membrane performance, early proof-of-principle testing, evaluation under 
prototypical conditions of temperature and environment, optimization of membrane selection and 
fabrication, and evaluation of long-term membrane durability and performance.  This initial 
assessment addresses the first two of these items. 

Background

Solid oxide electrolyzer cells have the potential to produce hydrogen from water and the heat 
from a Gen IV nuclear reactor.  A solid oxide electrolyzer is essentially a solid oxide fuel cell 
operated in reverse.  An electrical potential is applied to the electrodes of the electrolyzer and 
water is split into hydrogen and oxygen.  The oxygen (as oxygen anions) permeates through the 
electrolyte layer.  This layer is permeable to oxygen and is typically made from yttrium 
stabilized zirconia.  What remains is hydrogen and residual water.

The electrolyzer will operate at between 750 – 900 °C.  When at steady state, the total pressure 
of the gas stream exiting the electrolyzer is expected to be between 1 and 5 MPa with 75-85 % of 
it hydrogen and the balance being steam.  The more efficiently the electrolyzer operates the 
closer the exit stream will be to 85 % hydrogen.  The goal of the membrane is to purify the 
hydrogen to over 95% purity with the reject steam and residual hydrogen being fed back to the 
inlet of the electrolyzer.  The membrane separation conserves energy by removing steam without 
cooling the H2O/H2 stream.  

ORNL has been developing inorganic membranes for the purification of hydrogen from coal-
derived synthesis gas for several years.  The DOE target operating temperature for this 
separation ranges from 250 to 700 °C depending on the gasifier conditions.  These temperature 
requirements are close to those required for the high temperature electrolyzer (HTE) system.  
These membranes are being designed to separate hydrogen from a gas stream containing carbon 
monoxide, carbon dioxide, and steam.  Therefore it is expected that inorganic membranes can be 
used to separate hydrogen from steam for use in the HTE system. Below are the expected 
operating conditions for this HTE system.  

Operating Conditions  

Operating temperature in electrolyzer 750-900 °C 
Pressure exiting electrolyzer 1-5 MPa 
Temperature of stream entering membrane 600-800 °C 
Concentration of hydrogen exiting the electrolyzer 75-85% 
Concentration of hydrogen permeating through membrane 95-99% 
Raffinate (reject) stream hydrogen concentration 20-50% 



Separation Mechanisms 

There are several transport mechanisms that can govern the flow of gas molecules through 
membranes.  Viscous flow occurs when the gases flow through a membrane as a fluid without 
any differentiation between gases and results in no separation.  On the other end of the spectrum, 
molecular sieving occurs when a membrane’s pores are sized such that the smaller gas molecules 
can pass through the membrane while the larger ones do not fit through the pores and are thus 
rejected.  Knudsen separation occurs by taking advantage of differences in molecular velocities.  
The lighter molecules transport faster through the pores than the heavier molecules resulting in 
an enhancement of the lighter molecules in the permeate stream.  Lastly, surface diffusion occurs 
when one of the gas molecules is adsorbed on the surface of the pores and travels along the 
surface rather than in the gas phase.  The adsorbed molecules can block the pores so that the flow 
of other gas molecules are impeded resulting in an enhancement of the concentration of 
adsorbable molecules in the permeate stream.    

Laboratory results performed last year determined that microporous membranes could not be 
used for the separation of hydrogen from steam.  Microporous membranes have pores less than 
20 Å and are best suited to separate gases by molecular sieving.  The permeance of both water 
and hydrogen through a membrane having a pore size of approximately 8 Å was determined by 
measuring gas fluxes at 250 °C and the results showed no statistical separation.  This is not 
unexpected as the molecular size of a water molecule is actually a bit smaller than a hydrogen 
molecule even though a water molecule is nine times heavier than a hydrogen molecule. 

Separation by Knudsen diffusion is based on the difference in molecular velocities of the two 

molecules.  The average molecular velocity ( c ) can be expressed by Equation 1, where T is the 
absolute temperature, R is the gas constant, and M is the molecular weight. 
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Knudsen diffusion becomes the dominant transport mechanism when the pore size is much 
smaller than the mean free path between molecules.  The mean free path ( ) can be determined 
from Equation 2 where N is the density in molecules per cm3 and d is the diameter of the 
molecule.

2***2

1

dN
 (2) 

Tables 1 and 2 are a list of mean free paths calculated using Equation 2 as a function of 
temperature at pressures of 1 and 10 bars. As the temperature increases the mean free path 
between molecules increases but an increase in pressure from 1 bar to 10 bars decreases the 
mean free path by a factor of 10.  This means that as you increase temperature or decrease the 
pressure you increase the mean free path allowing you to employ a membrane having a larger 
pore size for the separation by Knudsen diffusion.  If Knudsen diffusion is the dominant 



transport mechanism the separation factor is the ratio of the molecular velocities and can be 
expressed by Equation 3 where for example MWater is the molecular weight of water and MHydrogen

is the molecular weight of hydrogen. 

Table 1. Mean Free Path for Hydrogen at 1 bar 
Temp °C Temp K Mean Free Path (cm) Mean Free Path (Å) 

25 298.15 1.05E-05 1.05E+04 

100 373.15 1.31E-05 1.31E+04 

200 473.15 1.66E-05 1.66E+04 

300 573.15 2.02E-05 2.02E+04 

400 673.15 2.37E-05 2.37E+04 

500 773.15 2.72E-05 2.72E+04 

600 873.15 3.07E-05 3.07E+04 

700 973.15 3.42E-05 3.42E+04 

800 1073.15 3.77E-05 3.77E+04 

 Table 2. Mean Free Path for Hydrogen at 10 bars
Temp °C Temp K Mean Free Path (cm) Mean Free Path (Å) 

25 298.15 1.05E-06 1.05E+03 

100 373.15 1.31E-06 1.31E+03 

200 473.15 1.66E-06 1.66E+03 

300 573.15 2.02E-06 2.02E+03 

400 673.15 2.37E-06 2.37E+03 

500 773.15 2.72E-06 2.72E+03 

600 873.15 3.07E-06 3.07E+03 

700 973.15 3.42E-06 3.42E+03 

800 1073.15 3.77E-06 3.77E+03 
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Results

A membrane was fabricated to determine the flux of hydrogen through a membrane having pores 
believed to be the proper size to cause separation by Knudsen diffusion.  The membrane was 
determined to have an average pore size of approximately 70 Å.  Based on the results in Table 2, 
pores of this size are approximately 50 times smaller than the mean free path at the expected 
operating temperature at 10 bars of pressure. A membrane test system was used that can 
measure the flux of gases at temperatures up to 275 °C.  However, steam is a condensable gas 
which would require heated gas lines, valves, meters, and regulators to avoid condensation of 
water within the test system.  For this reason, it was decided to use a surrogate for water for this 
early set of experiments until the system can be modified to avoid condensation problems. 



The flux of helium, hydrogen, and nitrogen was measured at five different temperatures from 
room temperature to 250 °C at pressures up to 35 psia on the feed side or approximately 2.4 bar.  
The flux was converted to permeance and the results are shown in Figure 1.  The ratio of the 
permeances results in the selectivity as shown in Figure 2.  The selectivity of helium over 
nitrogen averaged just over 2.9 which is slightly higher than the theoretical value of 2.65 
calculated using the molecular weights of the two gases and Equation 3.  The selectivity for 
hydrogen over nitrogen was determined to be between 3.7 and 3.8 over the measured 
temperature range which is consistent with the theoretical value of 3.74.  Therefore, this 
membrane demonstrates an ability to separate gases by Knudsen diffusion under the range of 
conditions used for this work.  It should also be pointed out that the permeance of hydrogen 
measured here was over 104 times higher than was measured using a membrane having a pore 
size less than 10 Å. 
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Figure 1.   Permeance of helium, hydrogen, and nitrogen as a function of temperature. 
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Figure 2. Selectivities of helium and hydrogen over nitrogen as a function of temperature.



Membrane System Design 

While the separation factor is a property of the membrane only, the purity of gases in the 
permeate stream exiting a membrane is dependent on the feed concentration as shown in 
Equation 4. 
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In the case of Knudsen diffusion the separation factor is almost exactly 3.  Based on the 
preliminary results above, it is believed that a membrane with pores of 70Å will result in a 
separation factor consistent with the theoretical values expected for Knudsen separation.  Using a 
separation factor of 3, the concentration of hydrogen was calculated for up to three separation 
stages for both the lower and upper limits of hydrogen concentration expected to enter the 
membrane system.  These results are shown in Table 3.  For both feed concentrations, the 
required minimum purity of over 95% can be achieved with only 2 stages. In fact, if the feed 
concentration is 85% hydrogen the purity after one stage is already over 94%.  

Table 3.  Fraction of Hydrogen in Membrane Permeate Assuming Knudsen Separation 

Feed to 1st Membrane 0.75 0.85

After 1 Stage 0.9 0.944444

After 2 Stages 0.964286 0.980769

After 3 Stages 0.987805 0.993506

From the permeance data, a value of 1.2 scc/min/cm2/cmHg was used to estimate the size of the 
system needed for one stage of purification of 2 kg/day which is consistent with a 300 MW plant 
(Table 4).  Because the flux is proportional to the transmembrane pressure ( P), the quantity of 
membranes and the size of the membrane module are inversely proportional to the 
transmembrane pressure.  With a total system pressure of 1-5 MPa (10-50 bar), the partial 
pressure of hydrogen is expected to be between 7.5 and 42.5 bars.  These values would reflect 
the maximum transmembrane pressure that can be applied across the membranes.  In a real 
application the transmembrane pressure would be less in order to maintain the permeate stream 
at a pressure above atmospheric pressure.  For this reason, the calculations were completed for 
transmembrane pressures of 1 and 5 bars. 



Table 4.  Estimates of Membrane Area and Module Size Needed for One Stage 

P
1 bar 

P
5 bars 

Permeance (scc/min/cm2/cmHg) 1.2 1.2 
Permeance (kg/sec/M2/bar) 1.34E-03 1.34E-03 
Flux (kg/sec/M2) 1.34E-03 6.70E-03 
Area (M2) Needed for 2 kg/sec 1493 299 
Diameter of Module (ft) containing 8’ long by 
0.45” diameter tubular membranes 7.3 3.3

The calculation for the module size assumed that the membranes would be slightly less than 0.5“ 
o.d. (0.45” was used) and that 50% of the cross section is filled with membranes.  If the 
transmembrane pressure were increased, less area would be needed.  If two stages were needed 
to achieve the desired purity a second stage would be added. 

The membrane employed in this work would be less expensive to fabricate on a large scale than 
either a microporous (less than 10 Å pore diameter) or a palladium membrane.  The ORNL 
microporous membrane requires two layers applied to a support tube where this Knudsen 
membrane is only a single layer.  Also, because the pore size is larger and the surface area is 
smaller, these membranes are more stable at higher temperatures for extended periods of time. 

Conclusions and Future Work 

While molecular sieve membranes can achieve higher separation factors for hydrogen under 
some conditions, they will not work for the separation of hydrogen from steam in this 
application.  A separation factor of 3 is achievable using a membrane that will separate by 
Knudsen diffusion.  This membrane also has much higher fluxes than both microporous (less 
than 10 Å pore diameter) and palladium membranes for the purification of hydrogen.  The 
Knudsen membrane should also be less expensive and have longer lifetimes than microporous 
membranes. 

Future work will include testing these membranes with steam instead of a surrogate so that we 
can confirm their operation with steam.  Also, we plan to employ a mixture of hydrogen and 
steam to measure the separation factor of the mixed gas stream.  Both of these tests will require 
modifications to our test system to avoid condensation problems.  Future work also includes 
testing these membranes at higher temperatures and pressures to get as close as possible to the 
anticipated operation conditions.  Lastly, once operating at these conditions, we plan to vary the 
pore size of the Knudsen membrane so that we can determine how much we can increase the 
pore size while maintaining a separation factor close to 3 with a single stage.  A small increase in 
pore size can have a big increase in permeance which translates to a large decrease in required 
membrane area.  It is important that we maximize the pore size of the membrane while still 
maintaining a high Knudsen separation factor.


