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Abstract

This report summarizes the objectives, technical barrier, approach, and accomplishments for the
development of a novel water-gas-shift (WGS) membrane reactor for hydrogen enhancement and
CO reduction. We have synthesized novel CO,-selective membranes with high CO,
permeabilities and high CO,/H, and CO,/CO selectivities by incorporating amino groups in
polymer networks. We have also developed a one-dimensional non-isothermal model for the
countercurrent WGS membrane reactor. The modeling results have shown that H, enhancement
(>99.6% H; for the steam reforming of methane and >54% H, for the autothermal reforming of
gasoline with air on a dry basis) via CO, removal and CO reduction to 10 ppm or lower are
achievable for synthesis gases. With this model, we have elucidated the effects of system
parameters, including CO,/H; selectivity, CO, permeability, sweep/feed flow rate ratio, feed
temperature, sweep temperature, feed pressure, catalyst activity, and feed CO concentration, on
the membrane reactor performance. Based on the modeling study using the membrane data
obtained, we showed the feasibility of achieving H, enhancement via CO, removal, CO
reduction to < 10 ppm, and high H, recovery. Using the membrane synthesized, we have
obtained <10 ppm CO in the H, product in WGS membrane reactor experiments. From the
experiments, we verified the model developed. In addition, we removed CO; from a syngas
containing 17% CO; to about 30 ppm. The CO, removal data agreed well with the model
developed. The syngas with about 0.1% CO; and 1% CO was processed to convert the carbon
oxides to methane via methanation to obtain <5 ppm CO in the H; product.



Objectives

Produce a hydrogen product with <10 ppm CO at the high pressure used for reforming.
Overcome Fuel-Flexible Fuel Processors Barrier L: H; purification/CO clean-up.
Synthesize and characterize CO,-selective membranes for the novel WGS membrane
reactor.

Develop the water-gas-shift (WGS) membrane reactor for achieving <10 ppm CO.
Develop and verify a mathematical model to predict the performance of the WGS
membrane reactor.

Technical Barrier
The Hydrogen, Fuel Cells and Infrastructure Technologies Multiyear Research, Development
and Demonstration Plan technical barrier this project addressed included:

L: H, Purification/CO Clean-up (to achieve the target of <10 ppm CO).

Approach

Synthesize and characterize CO,-selective membranes containing amino groups.
Use the CO,-selective membrane synthesized to remove CO; for H, enhancement.
Drive the WGS reaction to the product side via CO, removal:
CO + HHO —» H, + CO,T
Decrease CO to <10 ppm in the H;, product via CO, removal.
Develop a mathematical model to predict the performance of the membrane reactor.
Use the model developed to study membrane reactor performance and to guide/minimize
experimental work.

Accomplishments

Obtained <10 ppm CO in the H, product in WGS membrane reactor experiments using
the small circular lab membrane cell (“Small Cell””) with the syngas feed with 1% CO.
Confirmed the <10 ppm CO result using the “Big Cell” WGS membrane reactor in the
rectangular flat-sheet shape with well-defined flow that had 7.5 times the membrane area
of “Small Cell”. This achieved the project milestone of <10 ppm CO in the H; product.
The data from the “Big Cell” WGS membrane reactor agreed well with the mathematical
model developed. The data and model can be used for the reactor scale-up.

Synthesized membranes with high CO, permeabilities and high CO,/H; and CO,/CO
selectivities.

Developed a one-dimensional non-isothermal model for the countercurrent WGS
membrane reactor to predict performance and guide/minimize experimental effort.
Removed CO; from a syngas containing 17% CO, to about 30 ppm. The CO; removal
data agreed well with the mathematical model developed. The syngas with about 0.1%
CO; and 1% CO was processed to convert the carbon oxides to methane via methanation
to obtain <5 ppm CO in the H; product.

I ntroduction

A water gas shift (WGS) reactor for the conversion of carbon monoxide (CO) and water to
hydrogen (H;) and carbon dioxide (CO,) is widely used in chemical and petroleum industries.



The reactor is also critically needed for the conversion of fuels, including gasoline, diesel,
methanol, ethanol, natural gas, biomass, and coal, to H; for fuel cells. Since the WGS reaction is
reversible, it is not efficient, resulting in a high concentration of unconverted CO (~ 1%) in the
H; product and a bulky, heavy reactor. The reversible, exothermic WGS reaction is as follows:

CO(g)+H,0(g) e CO,(g)+H,(2) AH, =-41.1 kJ /mol (1)
where 4H, is the heat of reaction. This reaction can be enhanced significantly through a CO,-
selective or Hy-selective membrane, which removes one of the reaction products, CO; or Ha,
respectively, to beat the reaction equilibrium and shift the reaction towards the product side.

Using a CO,-selective membrane [1, 2] with the continuous removal of CO,, a CO,-selective
WGS membrane reactor is a promising approach to enhance CO conversion and increase the
purity of H, under relatively low temperatures (~150°C). In comparison with the H,-selective
membrane reactor, the CO,-selective WGS membrane reactor is more advantageous because (1)
a high-purity H; product is recovered at the high pressure (feed gas pressure) and (2) air or an
inert gas can be used as the sweep gas to remove the permeate, CO,, on the low-pressure side of
the membrane to have a high driving force for the separation. These advantages are especially
important for fuel cell vehicles. The first advantage eliminates the need for an unwanted
compressor. With the second advantage, the high driving force created by the sweep gas can
result in low CO concentration and high H; purity and recovery. Several studies have been done
on Hy-selective membrane reactors, mainly based on palladium membranes and using high-
temperature WGS catalysts [3-8].

We have synthesized novel CO,-selective polymer membranes containing amino groups with
high CO; permeabilities and high CO,/H; and CO,/CO selectivities [9]. We have also developed
a mathematical model [10-12] to predict the performance of the WGS membrane reactor and to
guide and minimize experimental efforts on the reactor. With the modeling and experimental
efforts, we have obtained <10 ppm CO in the H, product using two WGS membrane reactors in
different size. In other words, we have achieved the project milestone of <10 ppm CO in the H;
product. In addition, we removed CO; from a syngas containing 17% CO; to about 30 ppm.

The treated syngas with such a low CO, concentration was readily processed to convert the
carbon oxides to methane via methanation to obtain <5 ppm CO in the H; product.

Approach

We have synthesized novel CO;-selective membranes with high CO, permeabilities and high
COy/H; and CO,/CO selectivitie by incorporating amino groups in polymer networks. We
incorporated the membrane synthesized in the WGS membrane reactors to show CO reduction to
10 ppm or lower in the H; product in reactor experiments using the synthesis gas feed with 1%
CO. We have developed a mathematical model [10-12] to predict the performance of the WGS
membrane reactor and to guide and minimize experimental efforts on the reactor. In the model,
the low-temperature WGS reaction kinetics for the commercial catalyst (Cu/ZnO/Al,O3) reported
by Moe [13] and Keiski et al. [14] was used. We verified the model for the prediction of the
performance of the “Big Cell” WGS membrane reactor. In addition, we used the membrane
synthesized to remove CO; from syngas for H, purification via methanation.



Results and Discussion

The results on synthesis and characterization of novel CO,-selective membranes, modeling of
membrane reactor, laboratory membrane reactor (“Small Cell”) experiments, “Big Cell”
membrane reactor experiments, effective removal of CO, from syngas, and methanation of
treated syngas to achieve <10 ppm CO are discussed in the following paragraphs.

Synthesis and Characterization of Novel CO,-Selective Membranes

We have synthesized novel CO;-selective membranes by incorporating amino groups in polymer
networks. The membranes consisted of crosslinked polymers and aminoacid salts. The
polymers included polyimide, polyvinylalcohol, and polyamines (polyethylenimine and
polyallylamine), and the aminoacid salts were the lithium, sodium, potassium and aluminum
salts of N,N-dimethylglycine, glycine, and 2-aminoisobutyric acid. The polyamines and the
aminoacid salts were the fixed and mobile carriers for the transport of CO, across the membrane.
The membranes were prepared by casting a solution containing the polymer, polyamine and
aminoacid salt onto a microporous support. The thickness of the membrane was controlled by
using a GARDCO adjustable micrometer film applicator (Paul N. Gardner Company, Inc.,
Pompano Beach, FL). Figure 1 shows the scanning electron microscopic picture of the
membrane synthesized on a microporous support. As shown in this figure, the nonporous
membrane was about 20 micron thick, and the microporous support was about 80 micron thick.
The membrane is based on the facilitated transport mechanism [1, 2, 9, 15], in which CO,
transfer through the membrane is enhanced via reaction with amino groups in the membrane, and
H; and CO are rejected by the membrane due to the absence of reaction.

Det WD Exp
SE 1821  M-165

Figure 1. Scanning electron microscopic picture of the membrane synthesized.



The membranes synthesized were characterized in a gas permeation unit to determine their CO,
permeabilities and CO,/H; and CO,/CO selectivities. Figure 2 shows the schematic of the gas
permeation unit equipped with a computerized data acquisition system and a gas chromatograph.
The gas streams were analyzed with an Agilent 6890N gas chromatograph (GC) (Agilent
Technologies, Palo Alto, CA) with two thermal conductivity detectors using argon and helium as
carrier gases, respectively. The volume of sampling loop of GC was 0.25 ml. The GC column
used was a micro-packed column Carboxen 1040, 3 ft long with a diameter of 1/16 inch from
SUPELCO, Bellefonte, PA. Two feed gases with certified compositions were used; one
consisted of 20% CO,, 40% H,, and 40% N,, and the other had 17% CO,, 1.0% CO, 45% H,,
and 37% N,. The second composition was used to simulate the composition of synthesis gas
from autothemal reforming with air. Argon or air was used as the sweep gas. Gas flow rates
were controlled by mass flow meters from Brooks Instrument, Hatfield, PA. The feed gas and
the sweep gas were passed countercurrently through the membrane permeation cell. Water was
pumped into both compartments of the membrane cell to control the water contents of the feed
and sweep gases. For the permeability and selectivity measurements, a circular flat-sheet
membrane cell (with a membrane area of 45.60 cm?”) was used.
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Figure 2. The schematic of the gas permeation unit.

Figure 3 gives the CO, permeability and CO,/H, selectivity results as a function of temperature
from 100°C to 180°C for the feed gas pressure of 2.1 atm and the sweep gas (air or nitrogen) of
atmospheric pressure. As shown in this figure, the CO, permeability was about 4000 Barrers (1
Barrer = 10" cm*(STP)-cm/cm?-s-cmHg) or higher for the temperatures ranging from 100°C to
150°C. However, the permeability reduced to about 2000 Barrers as the temperature increased to
180°C. This was due to the reduction of water retention in the membrane as the temperature



increased. Also shown in this figure, the CO,/H; selectivity was about 100 or higher for the
temperatures ranging from 100°C to 150°C. However, the selectivity reduced slightly as the
temperature increased to 170°C. This was a result of CO, permeability decrease due to the
reduction of water retention in the membrane described above. At 180°C, the selectivity reduced
significantly to slightly greater than 10 due to the significant swelling of this membrane at this
high temperature. Nonetheless, the selectivity of 10 is still good enough to give a reasonably
high H, recovery of about 90%, which will be described in the following modeling work.
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Figure 3. CO; permeability and CO,/H; selectivity results as a function of temperature.

Figure 4 gives the CO, permeability results as a function of feed pressure from about 2 atm to
about 4 atm at 150°C. As shown in this figure, the permeability did not change significantly with
the feed pressure.
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Figure 4. CO; permeability results as a function of feed pressure at 150°C.



Figure 5 depicts the CO,/CO selectivity results as a function of temperature from 100°C to 160°C
for the feed gas pressure of 2.1 atm. The CO,/CO selectivity results for this temperature range
were greater than 215, which is very good. However, the selectivity reduced as the temperature
increased. This was a result of CO, permeability decrease due to the reduction of water retention
in the membrane described above.
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Figure 5. CO,/CO selectivity results as a function of temperature.

Modeling of Membrane Reactor

Model Development

As one of the two main types of commercialized membrane modules, the hollow fiber membrane
module has shown excellent mass transfer performance because of its large surface area per unit
volume (about 3000 ft*/ft’ for gas separation) [15]. In this modeling work, the WGS membrane
reactor was configured to be a hollow fiber membrane module with catalyst particles packed
inside the fibers. The following assumptions were made in the model:

(1) The hollow fiber module is composed of CO,-selective facilitated transport membrane;

(2) CO; and H; are the only two gases permeating through the membrane;

(3) Membrane permeability is fixed and does not change with temperature variation in the
module;

(4) There is no temperature variation in the radial direction inside a hollow fiber due to its small
dimension;

(5) The module is adiabatic and operating at a steady state;

(6) There is no axial mixing;

(7) The pressure drops on both lumen and shell sides are negligible.

The CO, permeability of the membrane was in the range of 1000 to 8000 Barrers (1 Barrer =
107" cm® (STP) e co/cm” @ s ® cm Hg), and the CO,/H, selectivity, expressed in Eq. (2) [15],
was in the range of 10 to 80.
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Xco, /?CH2

The catalyst packed was assumed to be the commercial Cu/ZnO catalyst for lower-temperature
WGS reaction. A number of studies on the reaction kinetics of the commercial WGS catalyst,
CuO/Zn0O/Al,03, have been published [13, 14, 16-19]. Above 200°C, Campbell’s [16] rate
equation is pore-diffusion limited, not chemical-reaction limited. Campbell stated that his
reaction rate fitted poorly with experimental data obtained for temperatures less than 200°C.
Fiolitakis et al. [17] gave an activation energy of 46 kJ/mol but did not give a reaction rate
constant. Salmi and Hakkarainen [18] only had data for temperatures greater than 200°C. Based
on the experimental data of the commercial catalyst (ICI 52-1), Keiski et al. [14] gave two
reaction rates for the low-temperature WGS reaction over a range of 160 —250°C. The first was
dependent only on CO concentration and gave an activation energy of 46.2 kJ/mol. The second
reaction rate was dependent on CO and steam concentrations with a lower activation energy of
42.6 kJ/mol. Because of the proximity of our operation conditions to theirs and the fact that
steam is in excess in most of the membrane reactors, Keiski et al.’s first reaction rate expression
was chosen for this work. The reaction rate is given by Eq. (3).

. n n.
k= 1.0x10° 2P0 exp1339-2227), - Lrmlico 3)
nAtL, Tf KT”/‘,conf,Hp
where the expression for K7 [13, 14] is as follows:
K, =exp(-4.33+ 45 77‘8) (4)

S

The temperatures of both feed (lumen) and sweep (shell) sides are affected by the heat of the
reaction and the heat transfer through the membrane. The overall heat transfer coefficient U; was
derived via the series resistance method to include both convective and conductive heat transfer.

1

Visa G —d < d, d d, ®)
4 in 111( in )+ in hl( out )+ in

h, 2k, d, 2A(1-¢e)k,, +éek,] d, +20" d

mn

1
out hs
where /1s the feed (lumen) side heat transfer coefficient, 4, is the sweep (shell) side heat
transfer coefficient, £ is the effective thickness of the selective membrane layer (on the inside of
the hollow fiber), k,, and k, are the thermal conductivities of the membrane and the gas,
respectively, ¢ is the porosity of the support layer of the hollow fiber, and d;, and d,,,, are the
inside and outside diameters of the hollow fiber, respectively. In Eq. (5), the thermal
conductivities of the selective membrane layer and the hollow-fiber support layer were assumed
to be the same, i.e., k,,, which is true for an integrally skinned membrane [15].

The convective heat transfer for the feed (lumen) side can be considered to be that on the inside
wall of a packed bed. Due to the small dimension of the lumen, we assumed that the inside heat

10



transfer resistance was negligible and then there was no temperature difference in the radical
direction inside the fiber. Many researchers have studied the shell side mass transfer of hollow
fiber modules based on either empirical or fundamental work [20-24]. According to the analogy
between heat and mass transfer, similar equations can be used for the calculation of heat transfer
coefficients by changing Sh to Nu and Sc to Pr, respectively. Yang and Cussler’s correlation
equation [20] was chosen because the module configuration and operation parameters they used
were similar to those in this work.

0.07
h

k 0.93
h, =125—2 [EJ pr’¥ (6)
d L
where dj, is the hydraulic diameter, L is the hollow fiber length, Re is the Reynolds number, and
Pr is the Prandtl number. In addition, because mass transfer and heat transfer occurred
simultaneously in the membrane reactor, the energy carried by permeating gases was also taken
into account in the model.

Based on the schematic diagram of the WGS hollow-fiber membrane reactor illustrated in Figure
6, the molar and energy balances were performed on both feed (lumen) and sweep (shell) sides,
respectively.

Sweep

Feed

iRulul

0
Xe)

Figure 6. Schematic diagram of water-gas-shift hollow-fiber membrane reactor.
Molar Balance

Based on the volume element from z to z + Az, the molar balance on the feed or lumen side
for gas species i can be expressed as:
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In — Out + Generation = Accumulation
or

”ﬁL_",ﬁ‘HAZ_”dAZJiJF%”dzAZ’?‘:0 (7)

where n; , J; and r; are the molar flow rate, permeation flux and reaction rate of gas species i,
respectively; and

J = plp (8)

where P; and Ap; are the membrane permeability and transmembrane partial pressure difference
of gas species i, respectively.

Dividing both sides of equation (7) by Az and taking the limit as 4z — 0 give:

dn,,
L :lﬂ-dinzr; _”din J; )
dz 4

Similarly, the molar balance on the sweep or shell side is carried out, and the resulting equation
1s:

i o rd, (10)
dz

In addition, the H, recovery is defined as the ratio of the exit H, molar flow rate to the
combination of the inlet H, and CO molar flow rates. All these flow rates are on the feed, lumen
side.

Energy balance

Considering the heat of the reaction, the heat transfer through the membrane, and the energy
carried by permeating gases, we carried out the energy balance on the volume element of the
membrane reactor from z to z + Az. Differential equations were obtained by taking the limit as
Az — 0. The differential equation for the feed or lumen side is:

dy(ng c,;T;) :l”
4

- d,’ 1, AH, Ty —nd, (U, +¢, Jeo, + ¢, Jy) AT (11)

where AH, is the heat of reaction, and ¢, is the heat capacity of the individual gas species in the
gas mixture.

The differential equation for the sweep or shell side is:
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The boundary conditions of above differential equations are listed as follows:

Atz=0:
(6]
Tf =140"C, ngco =Xcoor "ppo = *u,0M0-

Nep, =X, Nyco, = Xco,Mo

Atz=1L:
T, =140°C, ng co =0, N 1o =0,

ng g, =5x107 noy, n o =370x10"n,qy

s, H

where 7y is the feed molar flow rate, x is the molar fraction of the individual gas species in the
gas mixture, and yis the inlet sweep-to-feed molar flow rate ratio or sweep-to-feed ratio in the
following paragraphs.

Although pure hydrogen is a superior fuel-cell fuel, currently there are issues on its storage and
distribution [25]. As a more practical way, hydrogen used in an automotive fuel cell is suggested
to be produced by reforming reactions of the available fuels, such as methanol, natural gas,
gasoline and diesel. Steam reforming (SR), partial oxidation (POX) and autothermal reforming
(ATR) are three major reforming processes. In SR, steam reacts with hydrocarbon over a
catalyst to form H,, CO and CO; at around 750 — 800°C since this reaction is strongly
endothermic. In POX, the hydrocarbon reacts with a deficient amount of oxygen or air to
produce H,, CO and CO, while a large amount of heat is generated. ATR integrates these two
processes together by feeding the hydrocarbon, water, and air together into the reactor at the
same time. The SR reaction absorbs most of the heat generated by the POX reaction, and an
overall process takes place slightly exothermally.

In this work, n,) was 1 mol/s and 0.635 mol/s for autothermal reforming syngas and steam
reforming syngas, respectively. With the compositions of both syngases given in Table 1, these
flow rates were chosen because a sufficient H, molar flow rate would hence be provided to
generate a power of 50 kW via the fuel cell for a five-passenger car [25]. Heated air was used as
the sweep gas. The concentrations of hydrogen and carbon dioxide in the inlet air were set as 0.5
ppm and 370 ppm, respectively.

Table 1. The compositions of autothermal reforming syngas and steam reforming syngas.

CO H,O H, CO, N, CH4
Autothermal reforming 1% 9.5% 41% 15% 33.5% 0%
Steam reforming 1% 18.2% 65.1% 15.5% 0% 0.2%
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The bvp4c solver in Matlab® was used to solve the above differential equations of the boundary
value problem with the given boundary conditions. During the calculation, the hollow fiber
number was adjusted to satisfy the constraint of feed exit CO concentration, i.e., <10 ppm.

Autothermal Reforming Syngas

Reference Case

A reference case for the autothermal reforming synthesis gas was chosen with the CO»/H,
selectivity of 40, the CO, permeability of 4000 Barrers (1 Barrer = 107" cm® (STP)  c/cm’ e s
e cm Hg), the inlet sweep-to-feed molar flow rate ratio of 1, the membrane thickness of 5 pum,
52,500 hollow fibers (a length of 61 cm, an inner diameter of 0.1 cm, and a porous support with
a porosity of 50% and a thickness of 30 pum), both inlet feed and sweep temperatures of 140°C,
and the feed and sweep pressures of 3 and 1 atm, respectively. With respect to this case, the
effects of CO,/H; selectivity, CO, permeability, sweep-to-feed ratio, inlet feed temperature, inlet
sweep temperature, feed pressure, and catalyst acitivity on the reactor behavior were then
investigated.

Figure 7 shows the profiles of the feed-side mole fractions of CO and CO, along the length of the
countercurrent membrane reactor. The modeling results demonstrated that this membrane
reactor could decrease CO concentration from 1% to 9.82 ppm along with the removal of almost
all the CO:..
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Figure 7. Feed-side CO and CO, mole fraction profiles along the length of membrane
reactor for autothermal reforming syngas.
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Figure 8 depicts the profiles of feed-side H, concentrations on the dry and wet bases. As
depicted in this figure, the membrane reactor could enhance H, concentration from 45.30% to
54.95% (on the dry basis), i.e., from 41% to 49.32% (on the wet basis). In this case, the H,
recovery calculated from the model was 97.38%. With the advancement of the high temperature
proton-exchange-membrane fuel cell (120 — 160°C), it is expected that the constraint of CO
concentration can be relaxed to about 50 ppm in the near future. Then, the required hollow fiber
number could be reduced significantly to 39,000 based on the modeling results.
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Figure 8. Feed-side H, mole fraction profiles along the length of membrane reactor
for autothermal reforming syngas.

The temperature profiles for both feed and sweep sides are shown in Figure 9 with a maximum
for each profile. Since the overall module was adiabatic, the feed gas was heated by the
exothermic WGS reaction. The highest feed-side temperature was 158°C at about z = 15 cm.
Beyond that, the feed-side temperature reduced, and it became very close to the sweep-side
temperature at the end of membrane reactor. This was due to the efficient heat transfer provided
by the hollow fiber configuration. Higher temperatures enhance WGS reaction rates but are
unfavorable for CO conversion. Thus, it is important to use air with appropriate temperature,
i.e., 140°C as the sweep gas to keep the feed gas within 150 + 10°C.
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Figure 9. Feed-side and sweep-side temperature profiles along the length of
membrane reactor for autothermal reforming syngas.

Effect of COx/H; Selectivity

In order to study the impact of CO,/H; selectivity on the membrane reactor performance, o = 10,
20, 40, 60 and 80 were applied in the model while the other parameters for the reference case
were kept constant. As shown in Figure 10, the feed-side exit CO concentration increased
slightly as the CO,/H; selectivity increased. This was due to the fact that higher selectivity
caused lower H, permeability and thus a lower H, permeation rate or higher H, concentration on
the feed side, which was unfavorable for the WGS reaction rate. Also shown in this figure, the
H, recovery increased from 89.85% to 98.68% as the CO,/H; selectivity increased from 10 to 80.
This indicated that the higher selectivity decreased the H; loss because of the reduction in H,
permeation through the membrane. In addition, the modeling results showed that a CO,/H;
selectivity of 10 was the minimum value required for a H, recovery of about 90%.

16



20 100

g — e |
98.68
i 98.25
g 17 97.38
g - 95
2 15 94.82 S
= >
@ o
E 125 - L o0 2
S 12. 89.85 5
O ]
8 nd
= 10 - S S —l T
x < ./9.5:1f 0.82 9.91 9.96 | a5
9.00
7.5 -
5 1 1 1 1 1 1 1 1 80

O 10 20 30 40 50 60 70 80 90
CO,/H, Selectivity

Figure 10. The effects of CO,/H; selectivity on feed-side exit CO concentration and
H; recovery for autothermal reforming syngas.

Effect of CO, Permeability

The membrane areas required for the exit feed CO concentration of <10 ppm in the H; product
were calculated with five different CO, permeabilities ranging from 1000 to 8000 Barrers while
the other parameters for the reference case were kept constant. As demonstrated in Figure 11,
the required membrane area or hollow fiber number dropped rapidly as permeability increased
from 1000 Barrers to 4000 Barrers. Beyond that, it approached an asymptotic value gradually.
Increasing CO; permeability increased the CO, permeation rate and enhanced the CO, removal,
which shifted the WGS reaction towards the product side. However, after the permeability
exceeded about 6000 Barrers, the overall system became reaction controlled. Hence, the
influence of the permeability became less significant.
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Figure 11. The effect of CO, permeability on required membrane area for
autothermal reforming syngas.

Effect of Sweep-to-Feed Ratio

The inlet sweep-to-feed molar flow rate ratios of 0.5, 1, 1.5, 2 and 2.5 were used in the
calculation while the other parameters for the reference case were kept constant. Figure 12
illustrates the effect of sweep-to-feed ratio on feed-side exit CO concentration. As illustrated in
this figure, increasing the sweep-to-feed ratio decreased the exit CO concentration first and then
increased it slightly. A higher sweep-to-feed ratio resulted in a lower CO, concentration on the
sweep side and then a higher CO, permeation driving force. However, it also enhanced heat
transfer and then decreased the feed-side temperature, which was unfavorable to the WGS
reaction rate. Therefore, an optimal sweep-to-feed ratio of about 1 existed as a result of the
tradeoff between the effects on the CO, permeation rate and the WGS reaction rate. Also
illustrated in this figure is the effect of sweep-to-feed ratio on H, recovery. The sweep-to-feed
ratio did not have a significant effect on the H, recovery. This was due to the fact that the
resulting CO concentrations were very low (<30 ppm) and did not affect the H, recovery.
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Figure 12. The effects of sweep-to-feed ratio on feed-side exit CO concentration and
H; recovery for autothermal reforming syngas.

Effect of Inlet Feed Temperature

In order to study the impact of inlet feed temperature on the membrane reactor performance, Ty
=80, 100, 120, 140, 160, 180 and 200°C were applied in the model while the other parameters
for the reference case were kept constant. As shown in Figure 13, the required membrane area or
hollow fiber number decreased as the inlet feed temperature increased. It approached an
asymptotic value gradually. The feed side temperature profiles for different feed inlet
temperatures are presented in Figure 14. The feed side temperature increased as the inlet feed
temperature increased especially at the entrance section. The higher feed side temperature gave
a higher WGS reaction rate, and thus a less reactor or catalyst volume, i.e., a lower membrane
area, was required. The unfavorable WGS equilibrium at high temperatures was compensated by
the simultaneous CO; removal.
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Figure 13. The effect of inlet feed temperature on required membrane area for
autothermal reforming syngas.
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Figure 14. Feed-side temperature profiles along the length of membrane reactor for
autothermal reforming syngas with different inlet feed temperatures.

Effect of Inlet Sweep Temperature

The membrane areas required for the exit feed CO concentration of <10 ppm in the H; product
were calculated with seven different inlet sweep temperatures ranging from 80 to 200°C, while
the other parameters for the reference case were kept constant. As demonstrated in Figure 15,
the required membrane area or hollow fiber number dropped rapidly as the inlet sweep
temperature increased from 80°C to 160°C. Beyond 160°C, it increased slightly. Figure 16
depicts the feed side temperature profiles along the membrane reactor with different inlet sweep
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temperatures. Increasing the inlet sweep temperature increased the feed side temperature
significantly over a longer reactor length in comparison with increasing the inlet feed
temperature as shown in Figure 14. A higher feed side temperature resulted in a higher WGS
reaction rate and thus a lower membrane area as described earlier. When the inlet sweep
temperature exceeded about 160°C, the WGS reaction equilibrium became less favorable, and
the overall system became more mass transfer controlled. Hence, more membrane area was
needed to remove the generated CO; to achieve < 10 ppm CO in the H, product.
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Figure 15. The effect of inlet sweep temperature on required membrane area for
autothermal reforming syngas.
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Figure 16. Feed-side temperature profiles along the length of membrane reactor for
autothermal reforming syngas with different inlet sweep temperatures.
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Effect of Feed Pressure

Five different feed pressures ranging from 2 to 6 atm were used in the calculation while other
parameters for the reference case were kept constant. The effect of feed pressure on the required
membrane area for the exit feed CO concentration of <10 ppm is depicted in Figure 17. As
depicted in this figure, increasing feed pressure decreased the required membrane area
significantly, particularly from 2 to 4 atm. The higher feed pressure gave a higher CO, partial
pressure on the feed side and thus a greater CO, permeation rate. This resulted in the reduced
membrane area.
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Figure 17. The effect of feed pressure on required membrane area for
autothermal reforming syngas.

Effect of Catalyst Activity

The effect of catalyst activity on the required membrane area was studied by assuming several
WGS reaction kinetics based on the Cu/ZnO kinetics equation proposed by Keiski et al. [14]. In
Figure 18, the number on the horizontal x axis indicates the reaction kinetic rate in terms of the
times of the Cu/ZnO kinetics, e.g., 1 represents the Cu/ZnO kinetics, 2 represents a kinetics of 2
times the Cu/ZnO kinetics, etc. As illustrated in this figure, increasing catalyst activity reduced
the required membrane area significantly. The higher catalyst activity resulted in a higher
reaction rate, which also increased the CO, permeation rate because of a higher CO, partial
pressure on the feed side and thus a higher driving force across the membrane. Hence, with the
advancement of a more active WGS catalyst, the membrane reactor would become more
compact.
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Figure 18. The effect of catalyst activity on required membrane area for
autothermal reforming syngas.

Steam Reforming Syngas

Reference Case

For the steam reforming syngas, we chose a reference case with the same system parameter
values as those for the autothermal reforming syngas except 31,000 hollow fibers with the same
dimensions described earlier. The reduced number of hollow fibers for the steam reforming
syngas was due to the fact that this syngas had a higher H, concentration and thus a lower flow
rate than autothermal reforming syngas. Similarly, the effects of CO,/H; selectivity, CO;
permeability, sweep-to-feed ratio, inlet feed temperature, inlet sweep temperature, feed pressure,
and catalyst acitivity on the reactor behavior were investigated for the steam reforming syngas
with respect to the reference case.

Figure 19 shows the profiles of the feed-side mole fractions of CO and CO; along the length of
the membrane reactors. The modeling results showed that this membrane reactor could decrease
CO concentration from 1% to 9.89 ppm along with the removal of almost all the CO,.
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Figure 19. Feed-side CO and CO, mole fraction profiles along the length of
membrane reactor for steam reforming syngas.

Figure 20 depicts the profiles of feed-side H, concentrations on the dry and wet bases. As
depicted in this figure, the membrane reactor could enhance H, concentration from 79.58% to
99.64% (on the dry basis with the balance of the H; product, i.e., 0.36%, being methane mainly)
or from 65.1% to 78.69% (on the wet basis). In this case, H, recovery was 97.38%. Compared
with the outlet gas from the autothermal reforming syngas, a much higher exit H, concentration
was obtained from the steam reforming syngas. This was attributed to the higher inlet H,
concentration and no N, in the steam reforming syngas. Higher hydrogen concentration is
believed to improve fuel cell performance. However, since the steam reforming reaction is
strongly endothermic, a large and heavy reactor is needed to meet the heat exchange
requirement. With smaller and lighter hardware, the autothermal reforming process is generally
considered to be more attractive for on-broad hydrogen generation for the automotive fuel cell
system [26].
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Figure 20. Feed-side H, mole fraction profiles along the length of membrane reactor
for steam reforming syngas.

The temperature profiles for both feed and sweep sides are illustrated in Figure 21. As illustrated
in this figure, maximum temperatures existed for both feed and sweep sides due to the heat of the
WGS reaction generated in the adiabatic module, as explained earlier for the autothermal
reforming syngas.
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Figure 21. Feed-side and sweep-side temperature profiles along the length of
membrane reactor for steam reforming syngas.
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Effect of CO./H, Selectivity

The CO,/H; selectivity values of 10, 20, 40, 60 and 80 were applied in the model to study the
selectivity impact on the membrane reactor performance while the other parameters for the
reference case were kept constant. As shown in Figure 22, the curves for feed-side exit CO
concentration and H, recovery showed consistent trends with those for the autothermal reforming
syngas in Figure 10. Both exit CO concentration and H; recovery increased as the CO,/H;
selectivity increased. As explained earlier, the lower H, permeation rate from higher selectivity
increased the exit CO concentration and the H, recovery.
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Figure 22. The effects of CO,/H; selectivity on feed-side exit CO concentration and
H; recovery for steam reforming syngas.

Effect of CO, Permeability

Five different CO, permeabilities ranging from 1000 to 8000 Barrers were used in the calculation
while other parameters for the reference case were kept constant. The effect of CO, permeability
on the required membrane area for the exit feed CO concentration of <10 ppm is presented in
Figure 23. Similar to the autothermal reforming syngas, the required hollow fiber number
decreased significantly as CO, permeability increased. Higher CO, permeability enhanced the
CO; permeation, which shifted the WGS reaction towards the product side. Therefore, the
required membrane area or hollow fiber number was reduced.
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Figure 23. The effect of CO, permeability on required membrane area for
steam reforming syngas.

Effect of Sweep-to-Feed Ratio

The inlet sweep-to-feed molar flow rate ratios of 0.5, 1, 1.5, 2 and 2.5 were used in the
calculation while the other parameters for the reference case were kept constant. Figure 24
illustrates the effect of sweep-to-feed ratio on feed-side exit CO concentration and H, recovery.
Similar to the autothermal reforming syngas, the exit CO concentration decreased and then
increased as the sweep-to-feed ratio increased. A minimum CO value existed at the sweep-to-
feed ratio of about 1. A higher sweep-to-feed ratio enhanced the CO, permeation but also
decreased the feed side temperature. The balance between the two opposite effects resulted in
the lowest exit CO concentration. Hj recovery did not change significantly with different sweep-
to-feed ratios, due to the reason explained earlier.
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Figure 24. The effects of sweep-to-feed ratio on feed-side exit CO concentration
and H; recovery for steam reforming syngas.

27



Effect of Inlet Feed Temperature

The inlet feed temperatures of 80, 100, 120, 140, 160, 180 and 200°C were applied in the model
to study the impact of inlet feed temperature on the membrane reactor performance while the
other parameters for the reference case were kept constant. As demonstrated in Figure 25, the
curves for the required membrane area showed consistent trends with those for the autothermal
reforming syngas. The required membrane area decreased as the feed inlet temperature
increased. Figure 26 shows the feed side temperature profiles for different inlet feed
temperatures. As explained earlier, the higher feed side temperature from the higher inlet feed
temperature increased the WGS reaction rate and decreased the membrane area requirement.
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Figure 25. The effect of inlet feed temperature on required membrane area for
steam reforming syngas.
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Figure 26. Feed-side temperature profiles along the length of membrane reactor for
steam reforming syngas with different inlet feed temperatures.

Effect of Inlet Sweep Temperature

Seven different inlet sweep temperatures ranging from 80 to 200°C were used in the calculation
while other parameters for the reference case were kept constant. The effect of inlet sweep
temperature on the required membrane area for the exit feed CO concentration of <10 ppm is
presented in Figure 27. Similar to the autothermal reforming syngas, the required hollow fiber
number decreased significantly as the inlet sweep temperature increased, a minimal value existed
at ~ 170°C. As shown in Figure 28, the higher inlet sweep temperatures increased the feed side
temperatures significantly over the most of reactor length, which increased the WGS reaction
rate. When the inlet sweep temperature exceeded about 170°C, the WGS reaction equilibrium
became less favorable, and the overall system became more mass transfer controlled. Hence,
more membrane area was needed to reduce the feed exit CO concentration to less than 10 ppm.
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Figure 27. The effect of inlet sweep temperature on required membrane area for
steam reforming syngas.

250

200 - 200°C
180°C
160°C

150 - 140°C
120°C

100 - 100°C
80°C

50 -
0 I I I [ [ [
0 10 20 30 40 50 60 70

Reactor Length (cm)

Figure 28. Feed-side temperature profiles along the length of membrane reactor for
steam reforming syngas with different inlet sweep temperatures.
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Effect of Feed Pressure

To investigate the effect of feed pressure on the required membrane area for <10 ppm CO in the
H; product, five different feed pressures ranging from 2 to 6 atm were used in the calculation
while other parameters for the reference case were kept constant. As shown in Figure 29,
increasing feed pressure decreased the required membrane area significantly, particularly from 2
to 4 atm. This behavior was similar to that for the autothermal reforming syngas described
earlier.
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Figure 29. The effect of feed pressure on required membrane area for
steam reforming syngas.

Effect of Catalyst Activity

Figure 30 illustrates the effect of catalyst activity on the required membrane area to satisfy the
constraint of feed exit CO concentration. As illustrated in this figure, the membrane area
required decreased significantly as the catalyst activity increased, which had a similar trend as
the autothermal reforming syngas. As explained earlier, a higher catalyst activity increased the
WGS reaction rate and enhanced the CO, permeation because of a higher driving force.
Therefore, the higher catalyst activity resulted in a small amount of catalyst or a small reactor
size.
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Figure 30. The effect of catalyst activity on required membrane area for
steam reforming syngas.

Modeling of Membrane Reactor Using Membrane Data Obtained

We used the selectivity and flux data obtained as the input to the mathematical model developed
[10-12] to show the feasibility of achieving H, enhancement, CO reduction to < 10 ppm, and
high H, recovery, to study the effects of system parameters on the reactor, and to guide /
minimize experimental work. The CO,/H; selectivity of 40 and the CO, permeability of 4000
Barrers were used again in the modeling work. We have investigated the performance of the
countercurrent membrane reactor for the synthesis gases from the autothermal reforming of
gasoline with air. The three synthesis gases investigated at 3 atm contained CO at concentrations
of 10%, 5%, and 1%. Figure 31 illustrates the profiles of the CO concentration in the H, product
for a total reactor length of 61 cm for these three feed CO concentrations. As shown in this
figure, a H, product with less than 10 ppm CO was obtained from each of these synthesis gases.
In the membrane reactor for each of these synthesis gases, the syngas flow with an inlet
temperature of 140°C was countercurrent to the flow of hot air sweep with an inlet temperature
of 140°C, the molar flow rate ratio of the air sweep to the syngas (y) was 1, and the catalyst was
the commercial Cu/ZnO supported on alumina.

32



0.12
Syngas from Autothermal Reforming

CO,/H, Selectivity = 40, Permeability = 4000 Barrers

0.1 - 10% T; = 140°C, T, = 140°C, pi=3atm,y=1,£=5pum

Feed Flowrate =1 mol/s, H, Recovery = 97.38%

9.45 ppm for 10% CO Feed
9.59 ppm for 5% CO Feed
9.82 ppm for 1% CO Feed

v

0 10 20 30 40 50 60 70

CO Mole Fraction

Reactor Length (cm)

Figure 31. Feed-side CO mole fraction profiles along the length of membrane reactor
for autothermal reforming syngases with 10%, 5%, and 1% CO.

For each of these synthesis gases, significant H, enhancement was achieved via CO, removal.
For example, the H, concentration was increased from 41% in the inlet 1% CO feed gas to
49.3% in the outlet H, product on the wet basis including water (from 45.3% to 55.0% on the dry
basis). Similar significant H, enhancement was also achieved for the 5% and 10% CO feed
gases. In addition, a high H, recovery of greater than 97.3% was obtained for these synthesis
gases as indicated in Figure 31.

We also investigated the effects of CO,/H; selectivity on exit CO concentration and H, recovery
for these synthesis gases through the modeling. For the CO,/H; selectivity ranging from 10 to
80, the exit CO concentration of less than 10 ppm was achievable. A lower selectivity actually
resulted in a slightly lower exit CO concentration as a lower selectivity (higher H, loss)
enhanced the WGS reaction. However, the selectivity had a significant effect on H, recovery as
shown earlier in Figure 10 for the 1% CO feed gas. A selectivity of 10 gave a H, recovery of
about 90%, which is still quite good. As the selectivity increased, the H, recovery increased
significantly. At the selectivity of 40, the H, recovery was greater than 97.3% as mentioned
earlier. For the selectivity of 60 or greater, the H, recovery was greater than 98.2%.

We also did the same modeling study for the steam reforming syngases containing CO at

concentrations of 10%, 5%, and 1%. Similar promising results on exit CO concentration and H,
recovery were obtained. Figure 32 shows feed-side CO mole fraction profiles along the length of
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membrane reactor for the steam reforming syngases with these inlet feed CO concentrations. For
all these syngases, the H, products with <10 ppm CO were achieved.
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Figure 32. Feed-side CO mole fraction profiles along the length of membrane reactor
for steam reforming syngases with with 10%, 5%, and 1% CO.

Laboratory Membrane Reactor (“ Small Cell”) Experiments

We studied and conducted the water gas shift (WGS) experiments using the laboratory WGS
membrane reactor (“Small Cell”, a circular cell) with the synthesis gas feed containing 1% CO
(from autothermal reforming). The rationales for this CO level are two-fold: (1) it can be readily
produced from commercial WGS reactors and (2) it requires CO, removal for its reduction via
WGS reaction. In the membrane reactor experiments, the commercial Cu/ZnO catalyst
supported on alumina was placed on the top of the membrane. The catalyst was activated /
conditioned at 150°C and 2.1 atm first with the gas of 1% H,, 3% CO,, 3% N, and 93% He for
6.1 hours and then with the gas of 40% H,, 20% CO,, and 40% N until the CO concentration
reached about 80 ppm (about 7.5 hours). Figure 33 shows H; and CO concentrations monitored
during the catalyst activation using the gas of 40% H,, 20% CO,, and 40% N,.
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Figure 33. H; and CO concentrations monitored during the catalyst activation for
the laboratory water-gas-shift membrane reactor (“Small Cell”).

After the catalyst activation, the synthesis gas feed containing 1% CO, 17% CO,, 45% Ha, 37%
N (on the dry basis) was admitted into the membrane reactor. The operating temperature was
150°C, and the feed pressure of the synthesis gas was 2.1 atm. Figure 34 summarizes all data
obtained from this laboratory WGS membrane reactor (“Small Cell””). As shown in this figure,
the CO concentration in the exit stream, i.e., the H, product, was <10 ppm (on the dry basis) for
the various feed flow rates of the syngas at 6, 20, 30 and 40 cc/min under various feed water
concentrations ranging from 15% to 70%. Even at the high feed rate of 60 cc/min, the CO
concentration in the exit stream was very close to 10 ppm at the feed water concentration of
about 45%.
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Figure 34. The results of CO in the H; product for the inlet 1% CO feed gas at various flow
rates from the laboratory water-gas-shift membrane reactor (“Small Cell”).
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“Big Cell” Membrane Reactor Experiments

We constructed and set up a “Big Cell” membrane reactor for the scale-up of WGS membrane
reactor. The “Big Cell” membrane reactor was a rectangular cell with a well-defined gas flow
and velocity both for the feed and sweep sides. Thus, this membrane reactor was suitable for
modeling and scale-up work. That is, the data from this membrane reactor can be used for
comparison with modeling results and for scale-up. Figure 35 shows the schematic of this
membrane reactor. This membrane reactor had 7.5 times the membrane area of the laboratory
membrane reactor (“Small Cell”).

Reformate ) XX High (Hy)
Feed » CL Product

AAAAAAAAAAA

Air
with
Co,

Air, N, or Steam

z=0 7.8in.(19.8 cm)

Figure 35. The schematic of the rectangular “Big Cell” water-gas-shift
membrane reactor.

In the membrane reactor experiments using the “Big Cell”, the similar way of the catalyst
activation described earlier for the “Small Cell” membrane reactor was used. The catalyst in the
“Big Cell” membrane reactor was activated / conditioned at 150°C and 2 atm first with the gas of
1% Ha, 3% CO», 3% N», and 93% He for 6.2 hours and then with the gas of 40% H,, 20% CO,,
and 40% N, until the CO concentration reached about 80 ppm (about 11.5 hours). Figure 36
shows H; and CO concentrations monitored during the catalyst activation using the gas of 40%
H,, 20% CO,, and 40% N,.
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Figure 36. H; and CO concentrations monitored during the catalyst activation for
the “Big Cell” water-gas-shift membrane reactor.

After the catalyst activation, the synthesis gas feed containing 1% CO, 17% CO,, 45% Ha, 37%
N, (on the dry basis) entered into the membrane reactor. The operating temperature was 150°C,
and the feed pressure of the synthesis gas was 2 atm. Figure 37 shows the results obtained from
this “Big Cell” WGS membrane reactor. As shown in this figure, the CO concentration in the
exit stream, i.e., the H, product, was <10 ppm (on the dry basis) for the various feed flow rates of
the syngas from 20 to 70 cc/min. The data agreed reasonably with the prediction by the non-
isothermal mathematical model that we have developed [10-12] based on the material and energy
balances, membrane permeation, and the low-temperature WGS reaction kinetics for the
commercial catalyst (Cu/ZnO/Al,O3) reported by Moe [13] and Keiski et al. [14] as described
earlier.

As indicated from Figure 17, if the feed pressure of the synthesis gas was higher than 2 atm, a
higher feed gas rate could be processed to obtain <10 ppm CO in the H; product for the given
membrane area of the “Big Cell” reactor.
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Figure 37. The results of CO in the H, product for the inlet 1% CO feed gas at
various flow rates from the “Big Cell” water-gas-shift membrane reactor.

Gas hourly space velocity (GHSV) is defined in the following equation:

Gas Flow Rate (L/h)
Reactor Volume (L)

GHSV = (13)

Thus, the units of GHSV are hr'. The GHSV values for the data shown in Figure 37 were
calculated according to this equation by taking into account the membrane thickness and packing
density. The calculated GHSV results corresponding to the experimental data given in Figure 37
are shown in Figure 38. As shown in Figure 38, a high GHSV of about 4600 hr' is achievable.
As mentioned earlier, if the feed pressure of the synthesis gas was higher than 2 atm, a higher
feed gas rate could be processed, i.e., a higher GHSV would be achievable.
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Figure 38. The calculated GHSV results for the data shown in Figure 37 at various

flow rates from the “Big Cell” water-gas-shift membrane reactor.

Effective Removal of CO, from Syngas

The “Big Cell” without containing catalyst particles was also used for the removal of CO; from
the same syngas (1% CO, 17% CO,, 45% Ha, 37% N, (on the dry basis)). Figure 39 shows the

schematic of this “Big Cell” for CO, removal experiments and modeling work.

H, Feed —p CO, ———» High H, Product

*
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Figure 39. The schematic of the “Big Cell” without containing catalyst particles

for CO, removal.
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The membrane we synthesized was also used for the removal of CO, from this syngas using
nitrogen as the sweep gas at the sweep / feed molar ratio of 1. Figure 40 depicts the results of
CO; concentration (on the dry basis) in the exit stream (the H, product) at 120°C and 2 atm from
the rectangular membrane cell at various feed flow rates. As depicted in this figure, a low CO;
concentration of about 30 ppm was obtained for a feed flow rate of about 20 cc/min, indicating a
nearly complete removal of CO, from the syngas. Even at the high feed rate of 110 cc/min, the
CO; concentration in the exit stream was less than 1000 ppm (0.1%). Using steam instead of
nitrogen as the sweep gas also gave similar, good results. Also shown in this figure, the data are
in good agreement with the model that we have developed [10-12] based on the material and
energy balances, and membrane permeation.
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Figure 40. The results of the CO, concentration in the exit stream (the H, product)
from the “Big Cell” (without containing catalyst particles) for the
syngas feed with 1% CO and 17% CO, at various flow rates.

The GHSV values for the data shown in Figure 40 were calculated in the same way described
earlier. The calculated GHSV results corresponding to the experimental data given in Figure 40
are shown in Figure 41. As shown in Figure 41, a high GHSV of about 11000 hr™ is achievable
for an exit CO, concentration of 0.1%.

40



10000 -
Feed: 1% CO, 17% CO,, 45 % H,, 37% N, (on dry basis)

c 120°C, 1.6 atm, Big Cell
g Sweep/Feed Molar Ratio = 1

S 1000 -

o
O

N
@)
O

>
5 100 -
<
L

10 I I I

0 2000 4000 6000 8000 10000 12000 14000
Calculated Space Velocity (GHSV, hr™)

Figure 41. The calculated GHSV results for the data shown in Figure 40 from the
“Big Cell” (without containing catalyst particles) for the syngas feed
with 1% CO and 17% CO; at various flow rates.

Methanation of Treated Syngasto Achieve <10 ppm CO

The treated syngas with such a low CO, concentration of ~0.1% can be readily processed to
convert the carbon oxides to methane via methanation at 160 — 220°C with a CO concentration of
less than 10 ppm in the H; product [27-31]. The methanation reactions are as follows:

CO + 3H, — CH, + HO (14)
COZ + 4H2 —> CH4 + 2H20 (15)

As shown in equation (15), each mole of CO; takes 4 moles of H, to convert it to CH4. Thus, it
is important to remove CO, as much as possible before methanation in order to minimize the
consumption of H,. As shown in Figures 40 and 41, the membrane synthesized was very
effective for the CO;, removal before methanation.

Two types of methanation catalysts were used, one was Stid-Chemie C13-LT (0.3 wt%
ruthenium on Al,O3 support) purchased from Siid-Chemie Inc., and the other was UNICAT MC-
750 (NiO 65% on Al,O3 support) donated by UNICAT Catalyst Technologies Inc. [32, 33]. A
piece of 4 inch Inconel tubing was used as the methanation reactor. Catalyst particles were
crashed into powders and loaded into the reactor. Gas flow was downward, and the gas flow rate
was controlled by using a mass flow meter. Gas chromatograph (Agilent 6890N) was used to
analyze gas compositions. Two thermal conductivity detectors (TCD) were used with argon and
helium as the carrier gases, respectively.
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Effects of Catalyst Activation

Both ruthenium and nickel catalysts need activation before use. Activation could be done at 180
to 350°C either with the process gas of 0.1% CO», 1.19% CO, 53.87% H,, and 44.84% N, or a
H,/N, mixture gas. We have found that the activation method has significant effects on the
methanation results. For Siid-Chemie C13-LT ruthenium catalyst, two different temperatures,
220 and 240°C, were used to activate the catalyst with the process gas. Figures 42 and 43 show
the changes of CO, CHy4, and CO; during the activations at these two temperatures, respectively.
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Figure 42. Outlet gas compositions during activation for Methanation Experiment M-1
at 220°C and 2 atm.
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Figure 43. Outlet gas compositions during activation for Methanation Experiment M-2
at 240°C and 2 atm.
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As shown in Figures 42 and 43, the CO concentration dropped faster at 240°C than at 220°C.
The effects of activation on the methanation results are illustrated in Table 2. Both CO and CO»,
conversions with the activation at 240°C were better than those at 220°C.

Table 2. The effects of activation on methanation results at 200 and 210°C.

Retentate Composition

GHSV
Activation T (°C)| (hr'") | H2 (%) |CO (ppm) | CHy (% ) |CO; (ppm)
200 1200 | 50.66 7625 0.175 787.5
M-1
(Activated at 220°C for
12.2 hours) 210 1200 | 49.51 6272 0.335 798.3
200 1154 | 4843 5330 0.371 768.8
M-2
(Activated at 240°C for
8.3 hours) 210 1154 | 47.96 1606 0.821 785.2

During the activation, using the process gas or a H»/N, mixture gas also showed some effects. In
Methanation Experiment M-3 using the gas mixture of 40% H, and 60% N, for activation, the
material balance particularly for H, was not as good as that for Methanation Experiment M-2
using the process gas for activation as shown in Table 3.

Table 3. The effects of activation using different gas on methanation results at 200°C.

Retentate Composition
T |GHSV CO CH4 CO,
Activation O)| (hr')) Hy (%) (ppm) | (%) | (ppm)
M-2
(Activated at 240°C for 8.3 hours with
the process gas) 200 | 1154 |148.43 | 5330 | 0.371 768.8
M-3
(Activated at 290°C with 40% H, and
60% N at GHSV = 1154 h™' for 15.7
hours and at GHSV = 2308 h™' for 7.3
hours) 200 | 1154 |34.82| 2274 | 0.166 | 871.0

Effects of Catalyst

Both the ruthenium catalyst and the nickel catalyst are commercially available, but the nickel
catalyst is the most widely used catalyst in industrial methanation. In our experiments, we found
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that the ruthenium catalyst was more active than the nickel catalyst as indicated in Table 4 for

methanation at 200°C and 2 atm.

Table 4. The effects of catalyst on methanation results at 200°C.

Catalyst Retentate Composition
Activation Weight | GHSV H, CO CH,4 CO,
@ | () | (%) | (ppm) | (%) | (ppm)

(Siid-Chemie C13-LT (0.3 wt%
ruthenium on Al,Os) activated at
290°C with 40% H, and 60% Ny at | 1.498 1154 | 34.82 | 2274 | 0.166 | 871
GHSV = 1154 h! for 15.7 h and at
GHSV = 2308 h! for 7.3 h)
(UNICAT MC-750 (NiO 65%,
Balance Al,O;) activated at 290°C | 1.417 1545 | 37.38 | 10382 | 0.016 | 1226
with 40% H, and 60% N, at
GHSV =3090 h™' for 15.7 h)

Effects of Temperature

The methanation reactions in equations (14) and (15) are strongly exothermic. The CO and CO,
equilibrium constants, expressed in equations (16) and (17), respectively, are very large in the

temperature range of 200 to 260°C, although they decrease as temperature goes up. The
equilibrium constants are shown in Table 5 for 200 — 260°C. However, the reaction rate

increases significantly as temperature goes up. In our experiments, CO and CO; conversions all
showed sharp increases as temperature increased at 2 atm as illustrated in Table 6.

K

P(CO)

/PCOP1§2

_ 2 4
KP(CO2) - PCH4PH20 /PCOZPHZ

Table 5. Equilibrium constants for methanation [33].

T (°C) Kprico) Kpricoz)
200 0.215 X 10" 0.947 X 10°
220 0.235 X 10" 0.156 X 10°
240 0.304 X 10" 0.294 X 10°
260 0.456 X 10° 0.627 X 10’
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Table 6. The effects of temperature on methanation results®.

Retentate Composition
GHSV
T (°C) () H; (%) |CO (ppm)| CHy (%) | CO; (ppm)
200 1154 48.43 5330 0.371 768.8
210 1154 47.96 1606 0.821 785.2
240 1154 46.84 <4.6 1.305 63.25

*Methanation Experiment M-2 (Siid-Chemie C13-LT (0.3wt% ruthenium on Al,O;
support) activated at 240°C for 8.3 hours with the process gas).

As shown in Table 6, at 240°C, the CO concentration in the H, product was below the GC
detection limit of 4.6 ppm. This suggested that <10 ppm CO in the H, product might be
achievable with a lower temperature, e.g., 220°C. Indeed, a result of <5 ppm CO was achieved
at 220°C for a gas hourly space velocity of 1442 hr™' as shown in Table 7.

Effects of Flow Rate

The effects of process gas flow rate on methanation results at 220°C are shown in Table 7. The
process gas flow rate corresponding to a gas hourly space velocity of 1731 hr'' gave an outlet CO
concentration of 4.6 ppm. At a gas hourly space velocity of 1731 hr'', however, the flow rate
seemed to be higher than the capacity of the catalyst, resulting in a CO concentration of 649.9

Table 7. The effects of flow rate on methanation results*.

GHSV Retentate Composition
T (°C) (hr') H: (%)  |CO (ppm)| CHs (% ) | CO» (ppm)
220 1442 48.66 4.6 1.168 564.3
220 1731 49.46 649.9 0.978 796.0

*Methanation Experiment M-2 (Siid-Chemie C13-LT (0.3wt% ruthenium on Al,O;
support) activated at 240°C for 8.3 hours with the process gas).

Conclusions

We have synthesized membranes containing amino groups with high CO, permeabilities and
high CO,/H, and CO,/CO selectivities. The membranes showed a high CO, permeability of
about 4000 Barrers, a high CO,/H; selectivity of greater than 40, and a high CO,/CO selectivity
of greater than 215 at 100 — 150°C. These membranes could be operated to about 180°C.

A one-dimensional non-isothermal model was developed to predict the performance of the novel
water-gas-shift (WGS) membrane reactor. The modeling results have shown that H,
enhancement (>99.6% H, for the steam reforming of methane and >54% H, for the autothermal
reforming of gasoline with air on a dry basis) via CO, removal and CO reduction to 10 ppm or
lower are achievable for synthesis gases. With this model, we have elucidated the effects of
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system parameters, including CO,/H, selectivity, CO, permeability, sweep/feed flow rate ratio,
feed temperature, sweep temperature, feed pressure, catalyst activity, and feed CO concentration,
on the membrane reactor performance. Both autothermal reforming and steam reforming
syngases showed similar trends with respect to the system parameters. As the CO,/H; selectivity
increased, the recovery of H, increased, without affecting the membrane area requirement and
the low CO attainment significantly. Higher membrane permeability resulted in the reduction of
the required membrane area. Increasing sweep-to-feed ratio enhanced the permeation driving
force but decreased the feed side temperature and thus the reaction rate, resulting in a net effect
balanced between them and an optimal ratio of about 1. As either of the inlet feed and sweep
temperatures increased, the membrane area requirement decreased. However, the temperatures
greater than about 170°C would be unfavorable to the exothermic, reversible WGS reaction.
Increasing feed pressure decreased the required membrane area significantly, particularly from 2
to 4 atm. Increasing catalyst activity enhanced WGS reaction and CO, permeation. The
modeling study showed that both WGS reaction and CO; permeation played an important role on
the overall reactor performance and that the reactor was effective for the syngases with a wide
range of CO concentration (from 1% to at least 10%).

Based on the modeling study using the membrane data obtained, we showed the feasibility of
achieving H, enhancement via CO, removal, CO reduction to < 10 ppm, and high H, recovery.
We obtained <10 ppm CO in the H; product in WGS membrane reactor experiments using the
small circular laboratory membrane cell (“Small Cell””) with the synthesis gas feed at a relatively
low pressure of 2 atm with 1% CO. We confirmed the <10 ppm CO result using the “Big Cell”
WGS membrane reactor with well-defined flow that had 7.5 times the area of “Small Cell”. In
other words, we have achieved the project milestone of <10 ppm CO in the H; product. The data
from the “Big Cell” WGS membrane reactor agreed well with the mathematical model
developed, which can be used for scale-up.

In addition, we removed CO, from a syngas containing 17% CO, to about 30 ppm. The CO,
removal data agreed well with the mathematical model developed. The syngas with about 0.1%
CO; and 1% CO was processed to convert the carbon oxides to methane via methanation to
obtain <5 ppm CO in the H; product. Our methanation experiments showed that the ruthenium
catalyst was more active than the common nickel based catalyst. The catalyst activation and the
methanation temperature were very critical for CO and CO; conversions.

Nomenclature

Cp heat capacity (J/mol/K)

hollow fiber diameter (cm)

hydraulic diameter (cm)

convective heat transfer coefficient (W/cm?/s)
heat of reaction (J/mol)

permeation flux (mol/ cm?/s)

gas thermal conductivity (W/cm/s)
membrane thermal conductivity (W/cm/s)
reaction equilibrium constant (atm™)

membrane thickness (cm)

Nﬂhgyk%w&&&
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L length of reactor or hollow fiber (cm)

n molar flow rate (mol/s)

Nu  Nusselt number

p pressure (atm)

P permeability (Barrer)

Pr Prandtl number

r volumetric reaction rate (mol/cm’/s)

R ideal gas constant (atm e cm’/mol/K)
Re Reynolds number

Sc Schmidt number

Sh Sherwood number

T temperature (°C)

Ui overall heat transfer coefficient (W/cm?/K)
X feed side molar fraction

y sweep side molar fraction

z axial position along the length of reactor (cm)
Greek Letters

a COy/H; selectivity

14 inlet sweep-to-feed molar flow rate ratio
€ porosity of the support layer in the hollow fiber
b catalyst bulk density (g/cm’)

Subscripts

0 initial

f feed side

1 species

in inside of the hollow fiber

out  outside of the hollow fiber

S sweep side

t total
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Acronyms

ppm - part per million (one PPM is equivalent to 0.0001%)
WGS - water gas shift
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