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ABSTRACT: A general one-dimensional (1-D), three-region model for a bubbling fluidized-bed adsorber with internal heat
exchangers has been developed. The model can predict the hydrodynamics of the bed and provides axial profiles for all
temperatures, concentrations, and velocities. The model is computationally fast and flexible and allows for any system of
adsorption and desorption reactions to be modeled, making the model applicable to any adsorption process. The model has been
implemented in both gPROMS and Aspen Custom Modeler, and the behavior of the model has been verified.

■ INTRODUCTION
As part of ongoing research at the U.S. Department of Energy’s
(DOE) National Energy Technology Laboratory (NETL) into
ways to reduce carbon dioxide emissions from fossil fuel power
plants, solid sorbents have received a large amount of attention
because of their potentially lower cost, relative to other CO2
separation technologies, due to a reduction in energy demands.
In order to accelerate the development of carbon capture
technologies by industry, the DOE has initiated the Carbon
Capture Simulation Initiative (CCSI). CCSI is developing new
computational tools to screen alternatives more rapidly, reduce
the time for scale-up and troubleshooting new devices and
process, and quantify the technical risk in taking technology from
laboratory-scale to commercial-scale. The CCSI toolset is being
developed and demonstrated around industry challenge
problems, the first of which involves the development of a
solid sorbent-based capture system.
Fluidized-bed reactors are used extensively in a wide range of

chemical processes that rely on reactions between gases and
solids. Fluidized beds are used in combustion processes,
gasification, fluidized catalytic cracking of hydrocarbons, and
chemical synthesis. They are currently being studied for their
potential to remove CO2 from flue gas, since they provide good
solid−gas contacting and enable effective heat transfer.
Historically, scaleup of fluidization processes from bench-scale
to industrial-scale processes has required many intermediate
scale tests, because the behavior of the system can change
considerably between differently sized units. The need for
multiple intermediate scale tests makes the scale-up process
expensive and time-consuming. Thus, considerable effort has
been put into developing predictive models of fluidization
systems to aid in the scale-up process.
The term “fluidization” encompasses a broad range of different

systems, which can show significantly different hydrodynamic
behavior, depending on the dimensions, solid properties, and gas
and solid feed rates in the system. Geldart and Abrahamsen1

studied the fluidization behavior of a range of different powers,
and observed that powders could be classified into four groups
based on their behavior. Group A materials, referred to as
aeratable materials, consist of fine particles that show a period of
uniform expansion of the fluidized bed after fluidization before
the formation of bubbles. Group B materials, referenced as

sandlike materials, consist of larger particles and begin to show
bubbling behavior immediately after fluidization. Group C, or
cohesive, materials consist of very fine powders which tend to
aggregate due to very strong interparticle forces. Group D
particles consist of very large particles, often on the scale of
centimeters, which are difficult to fluidize, because of the very
high gas velocities required.
The point at which a bed transitions from a packed bed to

become fluidized is referred to as the minimum fluidization
velocity. At this point, the drag force exerted on a particle in the
bed is equal to the weight of the particle, allowing the particles in
the bed to “unlock” and begin to move freely around the bed. As
the gas velocity is increased above the minimum fluidization
velocity, beds of fine particles (Geldart groups A and C) undergo
a period of uniform expansion of the bed of solids,2 where the bed
density decreases as the gas velocity increases. Eventually, there
comes a point, referred to as the minimum bubbling velocity,
where increasing the gas velocity causes bubbles to begin to form
above the distributor plate, and the bed enters what is known as
the “bubbling fluidization regime”. However, solids that consist
of larger particles (Geldart groups B and D) do not show the
period of uniform expansion, and in these systems, bubbles begin
to form within the bed as soon as the gas velocity exceeds the
minimum fluidization velocity of the solids.
As the gas velocity is increased further, the bubbling action

continues to become more vigorous until they no longer appear
distinct. This is referred to as the turbulent fluidization regime.
Many studies have been conducted to characterize the transition
between bubbling and turbulent fluidization; these have been
reviewed by Bi et al.3 As the gas velocity continues to increase,
entrainment becomes more andmore significant until it becomes
necessary to feed solids continuously into the bottom of the
reactor in order to maintain the fluidized bed. At this point, the
bed is referred to as a circulating fluidized bed, and the behavior
of the bed is dependent on both the gas velocity and the solids
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feed rate. Smolders and Baeyens4 provided a good review of
fluidized beds operating at these high gas velocities.
The hydrodynamics and behavior of fluidized beds vary

significantly between the different regimes of fluidization, and no
model has yet been developed that can sufficiently represent all
the different regimes. In this paper, attention is focused solely on
the bubbling and turbulent regimes (i.e., between the onset of
bubble formation and the transition to circulating fluidization)
and the development of a model of the behavior in these regimes.
Several different approaches have been taken in the past to
modeling bubbling, and later turbulent, fluidized-bed reactors for
a range of different processes. These approaches have ranged
from simple scaling relationships5−7 to models that attempt to
capture the hydrodynamics of the system.2,8−10 Many more-
recent hydrodynamic models have been developed, such as those
of Kunii and Levenspiel,2,11,12 Kato and Wen,10 and de Souza-
Santos.8,13 These models have the advantage of being able to
capture the important hydrodynamic characteristics of the
system, while remaining relatively computationally simple.
With recent increases in computational power and improve-

ments in understanding of computation fluid dynamics (CFD),
some researchers have applied CFD simulations to modeling the
behavior of fluidized beds. These models have the potential to
capture the full hydrodynamic behavior of the fluidized bed, but
they are extremely computationally intensive and slow to solve.
Because of the computational requirements of CFD simulations,
their use is often limited to very small systems or requires a
course mesh that may not be able to capture the details of the bed
behavior. The large amount of time required to solve these
models, generally on the order of weeks, limits their use for
process synthesis and optimization tasks, where a large number
of simulations need to be run.

■ MODEL DEVELOPMENT
In order to develop a model that could be used for process
synthesis and optimization, the hydrodynamic modeling
approach was chosen, because it provides a good balance
between accuracy and the ability to provide predictive results and
the computational demands of solving the model. Since
hydrodynamic models describe the behavior of the bubbling
fluidized bed, in terms of the characteristics of the rising gas
bubbles, these models are only strictly applicable in the bubbling
fluidization regime, where well-defined bubbles exist within the
bed. The point at which bubbles of gas begin to appear within
fluidized beds in strongly dependent on the characteristics of the
solid particles being fluidized. For larger solid particles (Geldart
groups B and D), bubbles begin to form in the bed as soon as the
bed becomes fluidized, which occurs when the superficial gas
velocity (vg) exceeds the minimum fluidization velocity (vmf) of
the particles. However, finer solid particles (Geldart group A)
show a period of uniform expansion beyond the minimum
fluidization velocity before bubbles begin to form in the bed. The
point at which bubbles begin to form is referred to as the
minimum bubbling velocity (vmb), which is generally less than
4vmf.

2,14−1 At higher superficial gas velocities, beyond the critical
velocity (vcr), the fluidized-bed transitions into the turbulent
fluidization regime, at which point the distinct bubbles of the
bubbling regime are replaced by rapid, transient voids within the
bed.2While the fundamental assumptions related to the presence
of distinct bubbles existing within the bed are no longer strictly
true at this point, several authors have reported the successful use
of hydrodynamic models to simulate beds operating within the
turbulent fluidization regime,2,13 indicating that this model may

reasonably approximate the behavior of beds operating with gas
velocities up to the transport velocity (vtr), indicating the onset of
the circulating fluidization regime. However, at gas velocities in
excess of the single particle terminal velocity (vt), entrainment of
solids from the bed into the freeboard of the vessel becomes
significant and needs to be considered if a model is to be applied
to these conditions.
Many different correlations exist to predict the different

regime transitions that occur within fluidized beds. The
minimum fluidization velocity of a solid can be estimated using
the Ergun equation, by determining the gas velocity at which the
pressure drop across a bed of solids is equal to the pressure
exerted by the weight of the bed.2 This results in eq 1, where εmf is
the minimum fluidization voidage of the fluidized solid, ϕs is the
sphericity of the solid, Rep,mf is the particle Reynolds number at
minimum fluidization (Rep,mf = dpvmfρg/μg) and Ar is the particle
Archimedes number (Ar = dp

3ρg(ρs−ρg)g/μg2).

ε ϕ
ε
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Many empirical correlations have been developed to
determine the critical and transport velocities of different solids
under a wide range of conditions; however, there is often
significant disagreement between correlations. Bi et al.3 and
Smolders and Baeyens4 have published reviews of the different
correlations that are available.
Within a fluidized bed operating in the bubbling regime, three

distinct regions can be identified within the bed,2 which are
illustrated in Figure 1. The bulk of the solids within the bed exist

in a dense suspension with the fluidizing gas, at a voidage close to
that of a bed at the minimum fluidization velocity. At the bottom
of the bed, gas bubbles are formed at the distributor plate through
a number of different phenomena determined by the gas velocity
and distributor type. These bubbles rise upward through the bed
and undergo coalescence and splitting as they rise. As the bubbles
rise, they carry with them a circulating cloud of associated gas
through which passes some of the suspended solids. Each bubble
also carries with it a wake, which is drawn upward behind the
bubbles.

Figure 1. Sketch of the three-region model.
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Several different approaches have been taken in developing
hydrodynamic models for bubbling fluidized beds. Kunii and
Levenspiel2,12 used the three-phase approach described above
and assumed that the hydrodynamics of the bed could be
adequately represented using an average bubble diameter, while
Kato and Wen10 and Tabis and Essekkat16 considered only the
emulsion and bubble regions, but allowed for variation in the
bubble diameter in the axial direction. In all three cases, the solid
phase was assumed to be well-mixed and isothermal, which
neglects the effects of axial variations in the condition of the
solids. This is especially important in adsorption processes,
which can be strongly affected by both temperature and pressure,
both of which are likely to vary axially. de Souza-Santos8 allowed
for axial variations in both the bed hydrodynamics and the solid
phase in a full 1-D two-region model for a fluidized-bed
combustor. All of these approaches only considered variations
occurring in the axial (vertical) direction within the fluidized bed,
neglecting any variations in the lateral direction. In any real
system, there is likely to be some lateral variation in the
conditions of the bed, because of maldistribution of gas and
solids, wall effects, feed points, etc.; however, attempting to
model these effects would significantly increase the complexity of
the model and require solving partial differential equations in two
or three dimensions. For large, well-mixed systems with internals
to help ensure good distribution of gas and solids, it is hoped that
these lateral variations will be minimal and that a 1-D approach to
modeling the system will be sufficient.
In this paper, the three-region approach taken by Kunii and

Levenspiel2,12 is further developed to consider axial variations in
the solid phase and the bed hydrodynamics. While Kunii and
Levenspiel presented an analytical solution to their model for a
simple case of an isothermal bed with a first-order kinetic
reaction,12 for more-complicated systems, an analytical solution
is infeasible. For these systems, it is necessary to develop and
solve a set of partial differential equations describing the flow of
gas and solids throughout the fluidized bed. Figure 2 shows a
diagram of the flows of gas and solids for a differential slice i of the
fluidized bed.

In addition to the gas phase heat and mass transfer described
by Kunii and Levenspiel, which occurred only between the
bubble and cloud-wake and cloud-wake and emulsion regions,2,12

an additional bulk flow term was added between the emulsion
and bubble regions in the current model. The need for this arose
due to the possibility of extremely high reaction rates under some
circumstances. This was most apparent at the inlet to the

regenerator where heated, heavily loaded sorbent was suddenly
contacted by hot gases, resulting in a very rapid desorption of
adsorbed CO2. In these situations, it was found that a very large
pressure differential was needed between the emulsion and
bubble regions (up to 10 atm in some cases) to achieve the
necessary mass transfer between regions relying solely on the
bubble motion and diffusive transfer considered by Kunii and
Levenspiel.2,12 Pressure differentials of this magnitude are clearly
unrealistic, and the authors are unaware of any simulated or
experimental observations of similar phenomena in the current
literature. In order to address this, an empirical bulk flow term
was added to the model to allow gas to flow between the
emulsion and bubble regions directly.
In an actual bubbling fluidized bed, transfer of gas between the

emulsion and bubble regions must occur via the cloud-wake
region; however, this would require the addition of two separate
bulk flows (emulsion to cloud-wake and cloud-wake to bubble).
Because of the very empirical nature of this term in the current
model, it was decided to incorporate the bulk flow into a single
term, which bypassed the cloud-wake region. This term took a
form analogous to Darcy’s Law and was governed by the pressure
differential between the two regions. While this is clearly not an
accurate representation of the actual behavior of these systems,
further study of this phenomenon is required in order to develop
a better understanding of the process.
At superficial gas velocities significantly greater than the

minimum fluidization velocity, the flow rate of gas due to the gas
bubbles rising through the bed of solids is much greater than the
flow rate of the gas traveling through the emulsion region. Under
these circumstances, the flow of gas through the emulsion phase
can be safely assumed to be negligible, in comparison to the flow
through the bubble region,2 which greatly simplifies the model
equations. Under these circumstances, it can also be assumed
that the axial diffusion of gas will be negligible, in comparison to
the bulk flow. Experimental investigation of the bubbles within
bubbling fluidized beds has revealed that the bubbles contain
0.2%−1% solids by volume.2 While this is a small fraction, it may
be significant in situations with rapid kinetics; however, most
models for bubbling fluidized beds have neglected the presence
of solids in the bubble region. This model will do the same.
As each bubble rises through the bed, it carries with it a

significant wake of solids, resulting in an upward flux of solids
throughout the bed in the cloud-wake region. Thus, there must
also be a corresponding downward flux of solids through the
emulsion region to maintain solids within the bed. Additional
circulation of solids can be caused by the locations of the solids
inlets and outlets to the bed, resulting in a bulk flow of solids in
the system. As each bubble rises through the bed, some of the
solids in the emulsion region are swept into the cloud
surrounding each bubble. Kunii and Levenspiel assumed that
all of these solids were then swept into the wake of the bubble to
be carried upward through the bed, with an equal amount of
solids leaking out of the wake into the emulsion region.2 This
results in constant mixing of solids between the cloud-wake and
emulsion regions throughout the bed.
The current model does not consider the freeboard of the

vessel and, thus, neglects any reactions that may occur between
gas and solids above the fluidized bed. These are likely to be
minimal for beds operating at gas velocities below the single
particle terminal velocity, where entrainment of solids into the
freeboard is small. However, at higher gas velocities, the presence
of solids within the freeboard becomes significant, resulting in

Figure 2. Schematic of the model structure.
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significant gas−solids interactions in the freeboard. The addition
of a model of the freeboard of the vessel is planned for the future.
In any particulate system, there will be some variation in

physical properties between individual particles, and the gradual
attrition of particles within a contacting process will only amplify
these differences. In order to simplify the model equations, it is
assumed that the behavior of the fluidized bed can be sufficiently
represented using average particle properties and that these are
constant throughout the fluidized bed. Because fluidization
depends on the interaction between the flowing gas and the solid
particle, which is a surface phenomena, a mean surface area
should be used to best represent the system.2 In addition, for
reactive systems, the density of the solid particles may change as
the reaction progresses, as may other physical properties of the
solid. For the case of adsorption of CO2 by solid sorbents, any
changes in the physical properties of the solids will be negligible
due to the relatively low loadings of adsorbed species on the
sorbent. However, for systems where significant changes in the
particle properties are expected to occur, it would be necessary to
consider these variations in the model equations.
In order to describe the behavior of a bubbling fluidized-bed

reactor, a system of algebraic and differential equations was
developed. For a differential slice in the model, mass and energy
balances can be written for each phase (gas and solid) and region
(bubble, cloud-wake, and emulsion). The axial domain for the
model is defined as x with x = 0 being the bottom of the bed,
immediately above the gas distributor plate, and x = Lb being the
surface of the fluidized bed of solids (with Lb being the depth of
the bed). While it would be possible to extend themodel to cover
dynamic operations, the current model only considers steady-
state operation; thus, all time-dependent terms are set to zero. In
developing this model, all rates of reaction were specified in
terms of formation of a given species and, for the purposes of heat
and mass balances, the reaction between gas and solids is
assumed to take place in the solid phase, such that the reaction
conditions are those of the solids and any heat of reaction is
applied to the solid phase.
Gas-Phase Mass and Energy Balances. For the gas phase,

mass balances can be written for each component in the bubble
region, which results in eq 2, where yb,j,x is the mole fraction of
component j.

δ= − ∂
∂

− − +
x

y G A K C C K0 ( )j x x x X j x j x j x g j xb, , b, bc, , b, , c, , ,bulk, ,

(2)

Here, Gb,x is the axial flow rate of gas through the bubble region;
Cb,j,x and Cc,j,x represent the concentrations of component j in the
bubble and cloud-wake regions at point x, respectively; δx is the
volume fraction of the bubble region at point x; AX is the cross-
sectional area of the bed; Kbc,j,x is the mass-transfer coefficient for
component j between the bubble and cloud-wake regions written
in terms of bubble volume and Kg,bulk,j,x is the flow rate of
component j into the bubble region from the emulsion region
due to bulk flow of gas.
The flow rate of gas through the bubble region can be related

to the velocity of the gas bubbles, vb,x, and the superficial gas
velocity, vg,x, as shown in eq 3.

δ= =G v A C v A Cx x X x x g x X xb, b, b,t, , b,t, (3)

For the cloud-wake region, it is assumed that there is no axial
flow of gas; thus, the only terms in the gas-phase mass balance are
mass-transfer terms with the other two regions and a reactive
term. Here, αx is the cloud-wake to bubble region volume

fraction, and εd,x is the voidage fraction of the emulsion region. It
is assumed the cloud-wake region has a similar voidage to that of
the emulsion region. Kce,j,x is the mass-transfer coefficient for
component j between the cloud-wake and emulsion regions,
again written in terms of bubble volume, and Ce,j,x is the
concentration of component j is the emulsion region. Finally,
rg,c,j,x is the rate of formation of gaseous species j in the cloud-
wake region due to chemical reaction, expressed on a per volume
of solids basis.

δ δ

α δ ε

= − − −

+ −

A K C C A K C C

A r

0 ( ) ( )

(1 )

x X bc j x j x j x x X j x j x j x

x x x X g j x

, , b, , c, , ce, , c, , e, ,

d, ,c, , (4)

Similarly, a gas-phase mass balance for the emulsion region only
contains a term for mass transfer with the cloud-wake region,
bulk flow to the bubble region, and a reactive term:

δ

α δ δ ε

= − −

+ − − −

A K C C K

A r

0 ( )

(1 )(1 )

x X j x j x j x g j x

x x x x X g j x

ce, , c, , e, , ,bulk, ,

d, ,e, , (5)

In addition to the mass balance equations, the total gas
concentration in each region can be calculated using an equation
of state, which must be equal to the sum of the component
concentrations in each region.
Energy balances for the gas phase follow in a similar vein to the

mass balances, resulting in eqs 6, 7, and 8.
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Here, cp,g,r,x is themolar specific heat capacity of the gas in region r
at point x; Tg,r,x is the temperature of the gas in region r; Tref is a
thermodynamic reference temperature; Hg,bulk,x is the heat
transfer due to the bulk flow of gas from emulsion region to
bubble region; andHbc,x andHce,x are the heat-transfer coefficient
between the bubble and cloud-wake regions, and between the
cloud-wake and emulsion regions, respectively (written in terms
of bubble volume). The second-to-last term in the cloud-wake
(eq 7) and emulsion region (eq 8) equations represents heat
transfer between the gas and solids within each region, where ρs is
the density of the solids, ap is the mass specific surface area of a
particle (m2/kg), hp,x is a heat-transfer coefficient between gas
and solid on a surface area basis, and Ts,c,x and Ts,e,x are the
temperature of the solids in the cloud-wake and emulsion
regions, respectively. The final term in these equations represents
the loss of energy from the gas phase due to mass being
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transferred to the solid phase as part of the reaction, where cp,g,j,c,x
and cp,g,j,e,x are the specificmolar heat capacities of the gas species i
in the cloud-wake and emulsion regions, respectively.
At the gas inlet (x = 0), the conditions in the bubble region are

given to be the conditions of the incoming gas (flow rate,
temperature, and composition). Similarly, the conditions in the
gas stream leaving the reactor are equal to the conditions of the
bubble phase at the top of the bed (x = Lb). Gas pressure can be
specified either at the inlet or the outlet, depending on the
circumstances.
The rate of mass and heat transfer due to the bulk flow of gas is

defined by analogy to Darcy’s Law and is calculated as shown in
eqs 9 and 10.

= −
*

K K C C y( )g j x x x j x,bulk, , d e,t, b,t, , , (9)

= − −* *H K C C c T T( ) ( )g x x x p g x g x,bulk, d e,t, b,t, , , , , , ref (10)

The temperature and composition of the bulk flow will be
dependent on the direction of flow, and cp,g,*,x, Tg,*,x and y*,j,x
represent the molar specific heat capacity, temperature, andmole
fraction of the gas in the region from which the gas is leaving (the
emulsion region if Ce,t,x > Cb,t,x; otherwise, the bubble region). As
discussed earlier, Kd is an empirical bulk flow transfer coefficient
with units of m2 s−1, which describes the transfer of gas from the
emulsion region to the bubble region due to pressure gradients.
Kd is likely to be dependent on the conditions and geometry of
the bed, such as the voidage and size of the solid particles.
However, to the knowledge of the authors, this phenomenon has
not been observed or studied experimentally. Thus, its
magnitude and dependence on bed conditions is unknown.
For the purposes of this work, it was found that a value of Kd on
the order of 100 was necessary to reduce the pressure gradients
observed in the model to a reasonable level.
Solid Phase Mass and Energy Balances. Although the gas

phase can be represented using the same set of equations across
the entire fluidized bed, the equations for the solid phase require
different conditions at the boundaries of the system and at the
solid inlet and outlet. While, in practice, solids can be potentially
added and removed from any point within the bed, this model
restricts the solids feed and extraction points to either the top of
the bed (x = Lb) or the bottom of the bed (x = 0). Thus, the
equations at the boundaries of the domain vary, depending on
the type of solids inlet and outlet chosen. Equations could be
written to allow for solids feed and extraction to occur at any
point within the bed by splitting the axial domain at the inlet and
outlet points and adding a discontinuity at that point.
Inside the axial domain of the model (anywhere except the two

boundaries), the flow of solids must be conserved, which results
in eq 11. Here, Jc,x is the upward solids mass flux in the cloud-
wake region, and Je,x is the solids mass flux downward in the
emulsion region. If both fluxes are defined on a superficial basis,
they can be directly equated as shown below:

∂

∂
=

∂

∂

J

x

J

x
x xc, e,

(11)

The upward flux of solids in the cloud-wake region is due to the
solids being carried upward in the wake of the bubbles (but not
the solids in the cloud surrounding the bubbles) and can thus be
directly related to the velocity of the rising bubbles, vb,x, and the
volume ratio of the wake to the bubbles, f w, as shown in eq 12,2

based on the density of the solid particles ρs. Similarly, the solids
flux in the emulsion region can be used to calculate the

downward velocity of the solids in the emulsion region, us,x, as
shown in eq 13.

δ ρ ε= −J f v(1 )x w x s x xc, d, b, (12)

α δ δ ρ ε= − − −J u(1 ) (1 )x x x x s x s xe, d, , (13)

As the size, number, and velocity of the gas bubbles change in
the axial direction, so too will the amount of solids carried in the
wake of the bubbles and, thus, the cloud-wake solids flux (Jc,x).
This indicates that there must be a bulk flow of solids between
the cloud-wake and emulsion regions. A mass balance for the
adsorbed species present in the solids in the cloud-wake region
can then be written as shown in eq 14, which contains terms for
the axial flow of material through the region, the bulk flow of
solids between the cloud-wake and emulsion regions, a term for
mixing between the two regions due to the movement of the
bubbles and a reactive term. nc,i,x and ne,i,x represent the loading of
species i (moles of species adsorbed per kg of sorbent) on the
solids in the cloud-wake and emulsion regions, respectively.

δ ρ

α δ ε

= − ∂
∂

− −

− + −

A
x

J n K A K

n n A r

0

( ) (1 )

X x i x s x X x s s x

i x i x X x x x s i x

c, c, , ,bulk, ce,b ,

c, , e, , d, ,c, , (14)

Kce,bs,x is a mass-transfer coefficient representing the inter-region
mixing relative to the volume of the bubbles (representing the
volume of solids transferred per unit volume of bubbles per
second), and rs,c,i,x is the rate of formation of species i in the solid
phase of the cloud-wake region. A similar mass balance for the
emulsion region can also be written as shown in eq 15.

δ ρ

α δ δ ε
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∂

+ +

− + − − −
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x

J n K A K

n n A r

0

( ) (1 )(1 )

X x i x s x X x s s x

i x i x X x x x x s i x

e, e, , ,bulk, ce,b ,

c, , e, , d, ,e, ,

(15)

Writing energy balances for the solid phase is more
complicated, because of the adsorption of material onto the
sorbent. Walton and LeVan17 provided a theoretical derivation of
the energy balances associated with a fixed-bed adsorption
system, which can be extended to apply to fluidized-bed systems.
First, the specific enthalpy of the sorbent, including any adsorbed
species, must be determined. If a reference state of standard
temperature and pressure and zero loading of adsorbed species is
used for the solids, then the specific enthalpy of the sorbent plus
adsorbed species relative to the reference state, hsorb+ads, can be
shown to be hsorb+ads = hsorb + hads, where hsorb is the specific
enthalpy change of the unloaded sorbent and hads is the specific
enthalpy of the adsorbed species. For the unloaded solid sorbent,
assuming that the effect of pressure on the specific enthalpy is
negligible, it can be seen that hsorb = cp,s(Ts−Tref), where cp,s is the
heat capacity of the sorbent. For the adsorbed species, Walton
and LeVan calculated the specific enthalpy associated with the
adsorbed species using a path analysis; the path analysis began
with the adsorbed species in their gaseous state at the reference
temperature and pressure after which the temperature and
pressure were changed to that of the solid sorbent, followed by
adsorption onto the sorbent.17 In the current model, the effects
of pressure on the relative specific enthalpy can be removed from
the calculations, as the reacting gas is already present at the
system pressure, and the pressure term will cancel with an
equivalent term elsewhere in the energy balance. This results in
eq 16, where nk,r,x is the number of moles involved in reaction k
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adsorbed per kg of sorbent, ak,j is the stoichiometric coefficient
for species j in reaction k, cp,j,x is the heat capacity of the species j
in the gas phase, and ΔHrxn,k is the specific heat of reaction
associated with reaction k at the sorbent conditions (Ts,x and Px).

∑ ∑= −

+ Δ

h n a c T T

H T P

{ ( )

( , )}

r x
k

k r x
j

k j p j x s r x

k s x x

ads, , , , , , , , , ref

rxn, , (16)

With the specific enthalpy of the solid phase now defined,
energy balances can be written for the solids in both the cloud-
wake (eq 17) and emulsion regions (eq 18). The energy balances
contain one term for each term in the corresponding mass
balances, with the fourth term representing the transfer of energy
from the gas phase via the reacting gas. Both energy balances also
contain a term for gas−solids heat transfer that is equivalent to
that in the gas-phase energy balances. The final term in the
emulsion region balance accounts for heat transfer to immersed
heat exchange tubes within the bed, where dHX and NHX are the
diameter and number of tubes immersed in the bed respectively,
ht,x is a heat-transfer coefficient between the bed and the tubes
based on the area of the tubes, ΔTHX,x is the temperature
difference between the tubes and the bed, and Cr is an empirical
constant (Cr = 1.6).

18 Examination of the energy balances reveals
that all of the reference temperature terms cancel out.
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The rate of mass and heat transfer due to the bulk solids flow is
defined in eqs 19 and 20, where Ks,bulk,i,x is the bulk flow of solid
component i at point x andHs,bulk,x is the bulk flow of energy. The
conditions of the solids in the bulk flow will depend on the
direction of flow (from the cloud-wake region when (∂Jc,x/∂x) <
0 or from the emulsion phase when (∂Jc,x/∂x) > 0). The
parameters n*,i,x and Ts,*,x are the loading of component i and
temperature of the solid in the source region, respectively.

= −
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x
ns i x X

x
i x,bulk, ,
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, , (19)

= −
∂

∂
− +* *H A

J

x
c T T h( ( ) )s x X

x
p s s x x,bulk,

c,
, , , ref ads, , (20)

The solid phase mass and energy balances at the bottom of the
bed (x = 0) (immediately above the distributor plate) are given in
eqs 21−23 and include terms for the addition and removal of
solids through an inlet or outlet. Here, Fsorb,in,0 is the mass flow
rate of solids being fed at the bottom of the bed and Fsorb,underflow is
the mass flow rate of solids leaving through the underflow exit
(equal to zero if no solid feed or exit is present, respectively). ni,in
and Ts,in are the component loadings and temperature of the feed
sorbent, respectively.

+ = +J A F J A FX Xe,0 sorb,in,0 c,0 sorb,underflow (21)

+ = +n J A n F n J A n Fi X i i X ie, ,0 e,0 ,in sorb,in,0 c, ,0 c,0 e, ,0 sorb,underflow

(22)
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Similarly, eqs 24−26 give the mass and energy balances at the
top of the bed (x = Lb).
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As can be seen from the above equations, the solids leaving the
bed are assumed to be drawn entirely from the emulsion region;
thus, the conditions of the exiting solids are the same as those of
the emulsion region from which they are withdrawn.

Hydrodynamic Model. The mass and energy balance
equations described above provide a description of the flow of
material and solids throughout the different phases of the bed;
however, solving these equations is dependent on having
correlations for the various heat- and mass-transfer coefficients
and hydrodynamic properties of the bed. The hydrodynamic
modeling approach used in this paper to predict the heat- and
mass-transfer coefficients is dependent on predicting the size,
velocity, and volume fraction of the rising gas bubbles within the
bed as well as the voidage fraction of the cloud-wake and
emulsion regions; thus, correlations are needed to describe these
characteristics of the bed. The following section describes the
correlations used within the current model to predict these
properties of the fluidized bed.
Kunii and Levenspiel assumed that the hydrodynamics of the

bed could be adequately represented using a mean bubble size;12

however, several different correlations have been developed to
calculate the size of a bubble as a function of depth within a
fluidized bed. Horio and Nonaka19 developed one such
correlation based on the observation that bubbles undergo
both coalescence and splitting as they pass through the bed and
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the understanding that the growth rate of a bubble is determined
by the balance of the rates of coalescence and splitting. In order
to calculate the diameter of the gas bubbles, Horio and Nonaka
used the correlations of Mori and Wen20 to determine the initial
diameter of a bubble as it forms above the distributor plate, db,0,
and the maximum achievable size of a bubble due to coalescence,
db,m. The correlations of Mori and Wen are shown in eqs 27 and
28, where a0 is the cross-sectional area of the distributor plate per
orifice and ve,x is the gas velocity in the emulsion region.

= −−d g a v v1.38 ( [ ])gb,0
0.2

0 ,0 e,0
0.4

(27)

= −−d g A v v2.59 ( [ ])x X g x xb,m,
0.2

, e,
0.4

(28)

Horio and Nonaka19 calculated the equilibrium size of a
bubble, taking into account both coalescence and splitting, to be

γ γ= − +d
D
4

( )x xb,e,
t

1 3,
2

(29)

where γ1 = [(2.56 × 10−2)/vmf](Dt/g)
1/2 and γ3,x = γ1

2 + 4(db,m,x/
Dt)

1/2 are parameters from the work of Mori and Wen and Dt is
the diameter of the fluidized bed. Horio and Nonaka19 then
suggested that the diameter of a bubble at a given height within a
fluidized bed in the absence of any internals to the reactor, db,u,x,
could be calculated by eq 30, where γ2,x = (Dt/4)(γ1 + γ3,x)

2.
Horio and Nonaka validated their model for both Geldart Group
A and Group B materials.19
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In a fluidized bed with internals, such as heat exchanger tubes,
the maximum size a bubble can obtain may be constrained by the
spacing of the internals. In these situations, Kunii and
Levenspiel2 suggest that the maximum size of the bubbles is
restricted by the hydraulic diameter of the vessel, which is defined
as four times the ratio of the cross-sectional area of the fluidized
bed to the wetted diameter of the vessel and internal, as shown in
eq 31.

π
=

+
D

A
D d N

4
( )

X
t,h

t HX HX (31)

In this case, the actual size of the rising bubbles (db,x) is
assumed to be the smaller of db,u,x calculated using eq 30 and the
hydraulic diameter, Dt,h, calculated using eq 31. The diameter of
the fluidized bed can be calculated from the cross-sectional area
of the bed plus the cross-sectional area of any internals. Assuming
a circular cross-section gives eq 32:
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(32)

In studying the behavior of the bubbles within a bubbling
fluidized-bed reactor, several researchers have noted that the
velocity of the rising bubbles seems to be correlated to the size of
the bubbles, as well as the gas velocity and size of the bed. In
order to calculate the velocity of the rising bubbles, Kunii and
Levenspiel2,12 proposed a set of correlations based on the
experiments of Hilligardt and Werther.21 Hilligardt and Werther
observed that the behavior of the bubbles differed between
different types of particles based on their Geldart classification;21

thus, it is necessary to determine the classification of the particles.
Most bubbling fluidized beds use particles belonging to Geldart
group A or B, and Yang22 suggested the criteria of Grace23 for
determining the transition from Group A to Group B materials,
with Group A particles having

ρ ρ ρ
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ρ ρ

ρ
=

−
< ×

−
−⎛
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d g
Ar

( )
1.03 10
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s g
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3

2
6
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(33)

The correlations proposed by Kunii and Levenspiel are given
in eq 34 for Group A materials and eq 35 for Group B materials.
For situations where the bubbles are restricted by the hydraulic
diameter of the vessel, Kunii and Levenspiel suggest using eq 36
for slugging beds instead.2 The experiments of Hilligardt and
Werther were performed using three small pilot-scale
apparatuses, with diameters up to 1 m; thus, these correlations
have only been tested in units up to this size. While many
industrial fluidized beds are larger than this, the hydraulic
diameters are often much smaller due to the presence of internals
within the bed.
Group A materials:

= − + +

+

v v v d D

gd

1.55[ 14.1( 0.005)]

0.711

x g x x

x

b, , mf b, t,h
0.32

b, (34)

Group B materials:

= − + +v v v d D gd1.6( 1.13 ) 0.711x g x x xb, , mf b,
0.5

t,h
1.352

b,

(35)

Slugging Flow:

= − +v v v gD0.35x g xb, , mf t,h (36)

While early models for fluidization assumed that the emulsion
region remained at minimum fluidization conditions,9 subse-
quent research indicated that this was not the case. Abrahamsen
and Geldart1 developed correlations describing the voidage, εd,x,
and gas velocity, ve,x, through the emulsion region of fluidized
beds of Geldart group A particles. Their work revealed that the
behavior of the emulsion region was strongly dependent on the
fraction of fine solids (<45 μm) present in the solids (F), as
shown in eqs 37 and 38.
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Abrahamsen and Geldart did not study larger Group B and D
particles; however, Hilligardt andWerther24 reported that the gas
velocity in the emulsion phase did not vary appreciable with
height for these materials and could be correlated using eq 39:

−
−

=
v v
v v

1
3g

e mf

mf (39)

Other researchers have suggested that the emulsion region
remains much closer to minimum fluidization conditions for
course particles. Thus, minimum fluidization conditions can be
assumed under these conditions (i.e., εd ≈ εmf).
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It is also necessary to determine the ratio of the volume of the
cloud-wake region to the bubble region (αx). Kunii and
Levenspiel2 suggested that the volume of the ratio of the volume
of the cloud surrounding a bubble to the volume of a bubble can
be calculated using the equation

ε
ε

=
−

f
v

gd v
3 /

0.711 /x
x

c,
mf mf

b, mf mf

while Rowe and Partridge25 presented the experimental
measurements of the wake-to-bubble volume ratio ( f w). Thus,
αx can be calculated using eq 40 with a value of f w taken from
Rowe and Partridge.25

α
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−
+

v
gd v

f
3 /
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x
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b, mf mf
w

(40)

Heat- and Mass-Transfer Coefficients. Using the bubble
characteristics discussed above, Kunii and Levenspiel2 developed
expressions for the heat- and mass-transfer coefficients between
the different regions in the bed based on the behavior of an
isolated bubble, as predicted by Davidson and Harrison.9

However, experiments by Sit and Grace26 on pilot-scale beds
suggest that the model proposed by Kunii and Levenspiel
underpredicts the actual rates of gas phase mass transfer when
rising bubbles interact with each other. Sit and Grace suggested
that this was due to an increase in the convective component of
the heat- and mass-transfer coefficients and suggested the
addition of a correction factor to account for this.26 Since the
heat- and mass-transfer behavior is closely linked to the
movement of the bubbles through the bed, Kunii and Levenspiel
expressed all their transfer coefficients in terms of the volume of
the bubble region within the model.
For gas-phase mass transfer between the bubbles and their

associated clouds, Sit and Grace proposed that the mass-transfer
coefficient could be calculated using eq 41, based on the work of
Kunii and Levenspiel.2 Here, the factor 1.32 is the correction
factor proposed by Sit and Grace,26 and Dj,x is the diffusion
coefficient for component j at point x.
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For gas-phase mass transfer between the clouds and the
surrounding emulsion, Kunii and Levenspiel proposed that the
mass-transfer coefficient could be calculated using eq 42.2
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(42)

Gas-phase heat-transfer coefficients can be developed by
analogy to their respective mass-transfer coefficients, replacing
the diffusive term with an equivalent conductive term. This
results in eqs 43 and 44, where kg,x is the thermal conductivity of
the gas.
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For the solid phase, only mixing of solids between the cloud-
wake region and emulsion region needs to be considered, and
Kunii and Levenspiel proposed that the interchange of solids
could be expressed using eq 45,2 based on the rate at which solids
are swept into the cloud surrounding each bubble.
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For gas−solid heat transfer in fluidized beds, Kothari27

developed an empirical correlation between the Nusselt and
Reynolds numbers that fits a range of reported experimental data
for heat-transfer coefficients. The correlation proposed by
Kothari is shown in eq 46, where the Reynolds number should
be calculated using the conditions in the emulsion region.
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Heat Transfer to Immersed Heat-Exchanger Tubes. In
systems involving highly exothermic and endothermic reactions,
it is often necessary to use heat exchangers to provide or remove
heat from the fluidized bed. Heat transfer between the bed and its
surroundings can occur through the walls of the vessel, the
distributor plate at the bottom of the bed, or through internal
heat exchanger tubes immersed within the fluidized bed. For
beds with large diameters and internal heat exchangers, the most
significant of mode of heat transfer will be via the internal heat
exchangers, and thus only these are considered in the current
model. In order to predict the heat transfer to and from a set of
immersed heat-exchanger tubes, the model of Mickley and
Fairbanks18,28 was used, with the correlations of Baskakov et al.29

for vertical tubes. This model estimates the overall heat-transfer
coefficient from the heat-exchanger tubes by predicting the
individual contributions of contact between the heat exchangers
and gas and solids, respectively. First, the thermal conductivity of
an emulsion packet, kp,a,x, is calculated using eq 47,18
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(47)

where kp is the thermal conductivity of the solid particles.
Next, the residence time of emulsion packets at the heat-

exchanger surface (τx) is calculated using the correlation
proposed by Baskakov et al.29 (eq 48).
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Here, f n,x = (vg,x/vmf) is the fluidization number of the bed and ah
= 0.8 is an empirical constant.29 Next, the fraction of time that the
heat exchanger surface is exposed to emulsion packets, f b,x can be
calculated using eq 49:

=
−⎡

⎣
⎢⎢

⎤
⎦
⎥⎥f

v f a

d g
0.33

( )
x

n x

p
b,

mf
2

, h
2 0.14

(49)

Mickley and Fairbanks proposed that the heat-transfer
coefficient between the heat exchanger tubes and the emulsion
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packets, hd,x, could be calculated using eq 50 (taken from
Chen18):

ρ ε

πτ
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k c
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d,

, , , ,e, d,

(50)

Baskakov et al. proposed the following correlation for the tube-
bubble Nusselt number with the Archimedes and Prandtl
numbers,29 which is shown as eq 51:
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Finally, the overall heat-transfer coefficient between the heat
exchanger tubes and the bed (ht,x) can be calculated from the
bubble and emulsion packet heat-transfer coefficients and the
fraction of time each spend in contact with the heat exchanger
tubes, as shown in eq 52.

= + −h f h f h(1 )x x x x l xt, b, d, b, , (52)

Pressure Drop and Additional Equations. A significant
factor in the performance and operation of fluidized-bed reactors
is the pressure drop that occurs across the bed. Because of the
high solids volume fractions encountered within bubbling
fluidized beds, the most significant factor contributing to the
pressure drop is the weight of the solid bed, with all other
pressure drop terms being negligible in comparison. This results
in eq 53:

ε ρ
∂
∂

= − −
P
x

g(1 )x
x s (53)

Since the bubble region is assumed to be free of solids and the
cloud-wake and emulsion regions are assumed to have the same
voidage fraction, the average voidage fraction within a slice (εx)
can be calculated by eq 54:

ε ε δ− = − −(1 ) (1 )(1 )x x xd, (54)

Allowance should also be made for the pressure drop across
the distributor plate at the bottom of the reactor. Having a
sufficient pressure drop across the distributor plate is necessary
to ensure good fluidization of the bed and to minimize
channelling of the gas through part of the bed. As a rough
guide, it has been suggested that the pressure drop across the
distributor should be equal to ∼20% of the pressure drop across
the bed.2 Including the pressure drop across the distributor plate
gives the following equation for the pressure at the gas inlet to the
reactor:

= + ΔP P Pinlet 0 distributor (55)

Reaction Kinetics. In addition, equations are required to
describe the mass transfer and kinetics of the reactions between
the gas and solids. These will vary depending on the specific
process being conducted within the bed. Thus, a model for the
rate of reaction(s) will need to be developed for each individual
process. The equations used in this paper are written in terms of
the rate of formation for each component per unit volume of
solids; however, other forms of the reaction rate can be easily
substituted.
In order to demonstrate and test the current model, a solid

sorbent developed by NETL for the adsorption of CO2 (sorbent
NETL 32D) was used as the test material. This sorbent consists
of a mesoporous silica substrate into which a mixture of amines is
impregnated. CO2 diffuses into the pores of the substrate, where

it reacts with the impregnated amines to form carbamate. Water
is also adsorbed into the substrate and can react with the amines
and CO2 to form bicarbonate.
A simple lumped parameter kinetic and equilibrium model has

been developed for this sorbent by Lee et al.,30 which accounts
for the adsorption of both CO2 and water by the sorbent. The
model assumes that the adsorption of water and CO2 can be
modeled as a system of three inter-related chemical reactions.
CO2 is assumed to be adsorbed by two parallel reactions: one
representing the reaction between the CO2 and amine to form
carbamate and one representing the reaction between CO2 and
amine in the presence of adsorbed water to form bicarbonate.
Water vapor is assumed to undergo physical adsorption into the
amines. This resulted in the following set of reactions (eqs 56, 57,
and 58):
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Equilibrium and rate constants were fitted to experimental data
obtained by thermogravimetric analysis (TGA), using the forms
shown in eqs 59 and 60.
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Each of the three chemical reactions was represented using a
separate reaction term in the mass and energy balances, and the
heat of reaction was taken to be equal to the fittedΔHi. Since no
data on the temperature dependence of the heat of reaction were
available, it was assumed to be constant within the model.
Equilibrium and kinetic parameters for eqs 56−57 are listed in
Tables 1 and 2.

■ MODEL IMPLEMENTATION
The model discussed above was implemented in both Aspen
Custom Modeler (ACM) (Aspen Technology, Inc.) and
gPROMS (Process Systems Enterprise, Ltd.). While both
ACM and gPROMS contain inbuilt partial-differential equation

Table 1. Equilibrium Parameters

ΔHi (J/mol) ΔHi (J/mol K)

Ka −52 100 −78.5
Kb −36 300 −88.1
Kc −64 700 −174.6
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(PDE) solvers, a compartment-based approach, where the axial
differential terms were expressed as finite differences, was used in
implementing the model, since it was determined that this
improved the reliability and robustness of the model. A first-
order backward difference method was used for all PDEs except
for those involving the solid phase in the emulsion region, where
a first-order forward finite difference method was used due to the
reversed flow direction. Physical properties of the gas phase were
calculated using commercial property packages (Aspen Proper-
ties in ACM and Multiflash in gPROMS) using cubic equations
of state. Physical properties of the solids were taken from
experimental measurements.
A set of conditions were chosen to establish a baseline for

testing of the model, which are given in Table 3 and are shown in
Figure 3. Solids were fed and removed at the top of the bed (x =
Lb, top feed and overflow outlet) and many single-pass heat
exchanger tubes were present in the bed with a square-pitch
arrangement. The gas leaving the bed (at x = Lb) was specified to
be at atmospheric pressure, and the pressure of the incoming gas
was calculated by the model. A bundle of 2000 vertical heat
exchanger tubes with a diameter of 0.03 m were modeled within
the bed. The heat exchanger tubes were modeled as single pass
tubes, with fresh fluid fed from above the bed and removed from
the bottom. This setup is not really practical, because this
requires passing the heat exchanger tubes through the distributor
plate, which would result in severe erosion on the tubes near the
distributor. However, this system is simpler to model and allows
for easy verification of the model equations. Other types of heat
exchangers could be used instead, and simulations have been
conducted using more realistic U-tube-type heat exchangers;
however, these will not be presented here. Properties of the solid
sorbent (Geldart group A) are shown in Table 4.
First, a series of simulations was run in order to study the

dependence of the simulation results on the number of
compartments, or discretization points, used, The number of
discretization points was varied between 10 and 205 discretiza-
tion points, and Figure 4 shows the predicted removal of CO2
from a stream of flue, as a function of the number of discretization
points used in the model. As can be seen, the prediction of the
model vary significantly with few discretization points, but begins
to converge as the number of discretization points increases.
Based on the results of this study, it was decided that 100
discretization points represented a good compromise between

accuracy and complexity (and, hence, solution time) for the
model.
Using the model to simulate the conditions shown in Tables 3

and 4 clearly shows the axial variations that can occur within
fluidized beds. Figure 5 shows the carbon capture as a function of
height above the distributor plate, while Figure 6 shows the CO2
loading on the solid sorbent as a function of height above the
distributor. It can be seen that the carbon capture fraction varies
across the bed, as is expected; however, the loading of the solid
sorbent remains relatively constant. This demonstrates the
significant amount of mixing that occurs within the fluidized bed.
It can be seen that most of the removal of carbon dioxide occurs
in the region immediately above the distributor plate, where the
driving force is most significant and begins to tail off rapidly as the
height increases. This indicates that there is a limit to the amount
of removal that can be obtained within a single bed and that
multiple shallow beds in series may bemore efficient than a single
large bed. This behavior is similar to that of other reactor types,
which show well-mixed behavior.
Figure 7 shows the flow rate of gas through the fluidized bed, as

a function of bed depth. It can be seen that there is significant
variation in the flow rate of gas across the bed, because of the
adsorption of species from the gas. As previously mentioned, for
the conditions simulated, it can be seen that the reaction is most
rapid in the lower regions of the bed, while, in the upper regions
of the bed, the flow rate seems to be approaching a stable value,

Table 2. Kinetic Parameters

Ei (J/mol) log10 Ai

ka 28 200 4.750
kb 58 200 0.418
kc 57 700 2.000

m1 1.17

Table 3. Base Case Conditions

Geometry Gas Conditions Solid Conditions HX Fluid Conditions

parameter value parameter value parameter value parameter value

Dt 8 m Gb,in 2700 mol/s Fsorb,in 230 kg/s FHX,in 216 kg/s
Lb 4 m Tg,in 313.15 K Tsorb,in 363.15 K PHX,in 101325 Pa
dHX 0.03 m yg,CO2,in 0.12 nHCO3,in 81.77 mol/m3 THX,in 305.65 K

NHX 2000 yg,H2O,in 0.12 nH2O,in 163.54 mol/m3

a0 4.55 × 10−5 m2 per orifice yg,N2,in 0.76 nNHCO2,in 572.39 mol/m3 PLb 101325 Pa

Figure 3. Schematic diagram of an example bed.

Table 4. Sorbent Properties

parameter value

cp,sorb 1.13 J/(kg K)
dp 150 μm
εmf 0.5
F 0
kp 1.36 J/(m K s)
ϕs 1
ρs 442 kg/m3
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indicating an approach to equilibrium. These changes in the gas
flow rate contribute to changes in the superficial gas velocity as a
function of bed depth, as shown in Figure 8. Here, it can be seen
that, in the lower regions of the bed, the superficial gas velocity
initially decreases, because of the rapid adsorption of gas
decreasing the flow rate; however, above a point ∼1 m above the

distributor, the superficial gas velocity begins to increase as
expansion of the gas (due to decreasing pressure) begins to
dominate the reduction in flow rate due to adsorption.

Figure 4. Dependence of predicted CO2 removal on the number of discretization points.

Figure 5. CO2 removal fraction, as a function of height above the
distributor.

Figure 6. Sorbent loading, as a function of height above the distributor.

Figure 7. Axial profile of the gas flow rate.

Figure 8. Axial profile of the superficial gas velocity.

Industrial & Engineering Chemistry Research Article

dx.doi.org/10.1021/ie300840q | Ind. Eng. Chem. Res. 2013, 52, 469−484479



In developing their model for bubbling fluidized beds, Kunii
and Levenspiel2,12 assumed that an average bubble diameter
could be used to describe the hydrodynamics of the bubbling
bed. Figure 9 shows the predicted bubble diameter as a function

of height above the distributor from the model. From Figure 9, it
can be seen that there is significant variation in bubble diameter
across the bed, with bubbles growing to a size at the top of the
bed ∼5 times their initial diameter. It can also be seen that, for
this case, the bubbles do not reach an upper size limit, either due
to equilibrium between splitting and coalescence or due to
restriction by the hydraulic diameter. For Geldart group A
materials, such as the one simulated in these studies, it is often
assumed that the bubbles will rapidly reach an equilibrium
diameter not far above the distributor.2 However, the equilibrium
bubble diameter (dbe) predicted by the model for these
conditions is 0.97−1.00 m; thus, the bubble diameters are not
approaching the equilibrium size limit.
As the bubbles grow within the bed, the wakes associated with

them also grow, resulting in more solids being carried up the bed
behind each bubble. Combined with the acceleration of the
bubbles as they rise, this results in a significant variation in the
upward flux of solids in the bed due to the rising bubbles (and,
consequently, the opposing downward flux in the emulsion
region). This can be seen in Figure 10, which shows the
superficial upward flux of solids in the bubble wakes as a function
of height above the distributor. This variation in the axial flux of

solid results in different levels of solids mixing in the axial
direction, with better mixing of solids occurring in the lower
regions of the bed where the axial flux is lower. Thus, mixing
between the cloud-wake and emulsion regions is more
significant, in comparison to the axial flows.
The rate of adsorption and final equilibrium of gas species is

strongly dependent on the temperature of the solids within the
bed. The temperature of the solids is, in turn, affected by the heat
released as the gaseous species adsorb onto the solids. Figure 11

shows the predicted temperature of the solids in both the cloud-
wake and emulsion regions of the model, as well as the predicted
temperature of the heat exchanger tubes in contact with the bed.
It can be seen that the temperature of the solids is very uniform
across the entire bed, suggesting very good mixing of the solids.
In the emulsion region, it can be seen that the temperature at the
top of the bed is slightly higher than that in the middle regions of
the bed, which is probably due to the introduction of hot solids at
the top of the bed. The temperature of the solids also appears to
increase toward the bottom of the bed, which is probably due to
the heat released by the rapid adsorption reactions in the bottom
of the bed. The cloud-wake region temperature appears to be
fairly uniform across the entire bed, and the temperature
difference between the two regions remains small.
In contrast, the gas-phase temperatures are less uniform, as can

be seen in Figure 12. In the bubble region, it can be seen that the
gas temperature varies significantly across the depth of the bed
and that there is a significant temperature difference between the
bubble and cloud-wake region. This indicates that the mixing
between the two regions is relatively poor and that much of the
gas is passing through the bed in the bubbles without contacting
the solids. This is not unexpected, because of the relatively high
gas velocity used in these simulations (∼160 times the minimum
fluidization velocity) and agrees well with the observations of
other researchers.2 The temperature of the gas in the emulsion
region seems to be very similar to that of the solids in the
emulsion region, which is to be expected, because of the good
contact between gas and solids in this region, while the cloud-
wake region is intermediate to the other regions.
In order to study the behavior of the system and verify the

model, a sensitivity study was performed to observe the response
of the model to changes in some key input parameters. Some of
the results of this study are shown in Figures 13−15. Some of the
input parameters studied were the hydraulic diameter of the

Figure 9. Bubble diameter, as a function of height above the distributor.

Figure 10.Upward flux of solids in bubble wakes, as a function of height
above the distributor.

Figure 11. Solid phase temperatures, as a function of height above the
distributor.
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system, which includes the effects of bed diameter and the size
and spacing of the internal heat exchangers, the depth of the
fluidized bed, the initial gas velocity above the distributor and the
diameter and minimum fluidization voidage of the solid particles.
Figure 13 shows the effects of varying these variables between

80% and 120% of their base case values on the predicted removal

of CO2 from the simulated gas. As can be seen, increasing the bed
depth increases the removal of CO2, as is to be expected, because
of the extra residence time of gas and sorbent, while increasing
the gas velocity has the opposite effect. Increasing the particle
diameter and minimum fluidization voidage fraction also
improve CO2 removal due to better contacting between gas
and solids in the emulsion and cloud-wake regions.
Figure 14 shows the response of the average bed voidage (an

indicator of the overall hydrodynamics of the bed) to the same
input variables. As can be seen, the variable with the most
significant effect on the average bed voidage is the minimum
fluidization voidage of the particles. This is because the minimum
fluidization voidage has a strong effect on predicted voidage in
the emulsion and cloud-wake regions, and thus the overall
average voidage. Increasing the gas velocity also increases the
average voidage of the bed due to the additional volume of
bubbles that are formed. However, increasing the bed depth
decreases the average voidage in the bed, which is due to the
higher inlet gas pressure required at the distributor plate. This, in

turn, results in a denser gas flow in the lower regions of the bed,
which results in a lower voidage.
Figure 15 shows the effects of varying the flue gas flow rate,

temperature, and inlet CO2 concentration between 80% and

120% of their base case values on the predicted removal of CO2
from the simulated gas. As can be seen, decreasing the flow rate
increases the fraction of CO2 removed, as is to be expected due to
the increased residence time and decreased mass flow of CO2.
However, a practical limit results from the need to maintain a
minimum velocity for fluidization. Decreasing the temperature of
the entering flue gas also increases the fraction of CO2 removed
by increasing the working capacity of the sorbent. Finally,
increased CO2 concentration in the flue gas actually decreases
the fraction of CO2 adsorbed. Although the CO2 loading on the
sorbent increases, and, thus, the total amount of CO2 adsorbed,
the mixing that occurs in the bubbling bed limits the overall
driving force that can be obtained as the flue gas exits the bed. As
noted previously, this limits the amount of removal that can be
obtained within a single bed, even when the CO2 concentration
in the entering gas is at a higher concentration, because of the
well-mixed behavior of the majority of the bed. These results
would likely be different in a counter-currently staged contacting
scheme.

Figure 12. Gas-phase temperatures, as a function of height above the
distributor.

Figure 13. Sensitivity of CO2 removal fraction to key input variables.

Figure 14. Sensitivity of average bed voidage fraction to key input
variables.

Figure 15. Sensitivity of CO2 removal fraction to flue gas variations.
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■ DISCUSSION

The one-dimensional (1-D), three-region model developed in
this paper provides predictive capability while remaining
computationally fast and flexible, and it can be easily adapted
to any system of reactions. These features are important for
process synthesis and optimization activities, where there is a
need to perform a large number of simulations across a wide
range of operating conditions without being able to conduct
experiments to tune model parameters. As a 1-D model,
however, the current model neglects any variations that may
occur in the lateral direction. Lateral variations may arise due to
the location of solid feed and discharge points, maldistribution of
gas through the distributor, and channelling of gas and solid flow
through the bed. In situations where these effects may be
significant, a more complex two-dimensional (2-D) or three-
dimensional (3-D) approach may be needed to model the
behavior of the bed accurately.
For the assumptions made in developing this model to be

applicable, the superficial gas velocity should lie between ∼10vmf
and vtr, i.e., within the bubbling and turbulent fluidization
regimes.2,13 However, the model does not currently consider
slugging behavior, which may occur for some materials, and care
should be taken when applying this model to materials that may
display slugging behavior. Also, many of the correlations used in
this model have not been tested on large-scale fluidized beds,
because of the difficulty in obtaining experimental data from
these units, and the current model has yet to be validated against
experimental results. Currently, work is being performed as part
of CCSI to develop computational fluid dynamic simulations of
large fluidized-bed reactors, which will be used to test, improve,
and validate the current model.
The current model does not consider the behavior of the

freeboard above the fluidized bed, which may have a significant
effect on the performance of the reactor. As the superficial gas
velocity is increased, the number of particles ejected into the
freeboard of the vessel and possibly entrained with the gas will
increase. These particles interact with the gas in the freeboard
and additional reactions may occur. For beds operating at low gas
velocities where entrainment and ejection of particles from the
fluidized bed is small, it may be acceptable to neglect these
effects. However, for beds operating at high gas velocities such as
within the turbulent fluidization regime, it is likely that these
effects cannot be neglected. A significant amount of work has
been done on modeling the entrainment and ejection of particles
from fluidized beds, and many models for this phenomena have
been proposed (for example, see the work of Wen and Chen31).
It is planned to include a model for these phenomena in future
versions of this model. The current model also does not consider
particle size distributions and attrition of particles; however,
Kunii and Levenspiel suggest that the behavior of a fluidized bed
can be accurately represented using the mean surface area to
represent the particle size.2

■ CONCLUSIONS

This paper presents the development of a general 1-D, three-
region model for a bubbling fluidized bed adsorber, which
accounts for the hydrodynamic behavior of the system.
Demonstration of the model for a carbon capture application
shows that a number of factors can affect the performance of a
bubbling fluidized-bed adsorber. One of the most important
factors relates to the well-mixed characteristics of the bed, which
limits the driving force between the flue gas and the sorbent. This

indicates the importance of considering counter currently staged
bubbling fluidized bed configurations to attain the higher capture
fractions necessary to significantly reduce CO2 emissions.
Although increased bed depth can also increase CO2 removal,

increased bed depth negatively affects average voidage fraction
within the bed, which is an even more important factor for
attaining a high CO2 removal fraction. The higher bed depth
causes an increased pressure drop across the bed, which increases
the pressure at the bottom of the bed, reducing the average
voidage. This increased pressure drop will also increase energy
requirements for the blowers to move the flue gas.
Although this model has been demonstrated within the

context of a carbon capture application, it is generally applicable
for simulating any reacting bubbling fluidized-bed system.
Results from the model are consistent with experimental data
reported in the literature. Work is ongoing to rigorously validate
themodel for carbon capture applications through a combination
of experiments and detailed computational fluid dynamics
(CFD) simulations.
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■ NOMENCLATURE
ah = empirical constant
a0 = area of distributor plate per orifice (m2)
ap = specific surface area of solid particle (m2/kg)
Ar = particle Archimedes number
AX = cross-sectional area of fluidized bed (m2)
C = gas phase concentration (mol/m3)
cp = heat capacity (J/(mol K))
cp,s = heat capacity of unloaded sorbent (J/(kg K))
Cr = empirical coefficient
db = diameter of a single bubble (m)
db,e = equilibrium diameter of bubbles (m)
db,m = maximum size of bubbles due to coalescence (m)
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db,u = unconstrained bubble diameter (m)
db,0 = initial diameter of a bubble at the distributor plate (m)
dHX = diameter of heat exchanger tubes (m)
D = diffusivity of species in bulk gas (m2/s)
dp = particle diameter (m)
Dt = diameter of reactor vessel (m)
Dt,h = hydraulic diameter of fluidized bed (m)
F = fraction of fine particles (<45 μm)
f b = fraction of time heat exchanger surface is exposed to
bubbles
fc = cloud to bubble volume ratio (m3/m3)
f n = fluidization number
fw = wake to bubble volume ratio (m3/m3)
Fsorb = flow rate of solids (kg/s)
g = acceleration due to gravity; g = 9.81 m/s2

Gb = bubble region gas axial flow rate (mol/s)
hads = specific enthalpy of adsorbed species (J/kg sorbent)
Hbc = bubble to cloud-wake region gas phase heat transfer
coefficient (W/(m3 K))
Hce = cloud-wake to emulsion region gas phase heat transfer
coefficient (W/(m3 K))
hd = heat-transfer coefficient between heat exchanger and
emulsion packet (J/(m2 K s))
Hg,bulk = rate of heat transfer between bubble and emulsion
regions due to bulk flow of gas (W/m)
hl = heat-transfer coefficient between heat exchanger and
bubble (J/(m2 K s))
hp = gas−solids heat transfer coefficient (J/m2 K s)
Hs,bulk = rate of heat transfer between cloud-wake and
emulsion regions due to bulk flow of solids (W/m)
hsorb = specific enthalpy of unloaded solid (J/kg sorbent)
hsorb+ads = specific enthalpy of sorbent and adsorbed species (J/
kg sorbent)
ht = heat exchanger heat transfer coefficient (J/(m2 K s))
ΔHrxn = specific heat of reaction (J/mol)
J = superficial solids flux (kg/(m2 s))
Kbc = bubble to cloud-wake region gas-phase mass-transfer
coefficient (s−1)
Kce = cloud-wake to emulsion region gas-phase mass-transfer
coefficient (s−1)
Kce,bs = cloud-wake to emulsion region solid-phase mass-
transfer coefficient (m3 solid/(m3 bubbles s))
Kd = bubble to emulsion region gas-phase bulk flow coefficient
(m2/s)
kg = thermal conductivity of gas (J/(m K s))
Kg,bulk = rate of gas phase bulk flow between bubble and
emulsion regions (mol/(m s))
kp = thermal conductivity of solid particles (J/(m K s))
kp,a = thermal conductivity of emulsion packet (J/(m K s))
Ks,bulk = rate of solid phase bulk flow between cloud-wake and
emulsion regions (mol/(m s))
Lb = depth of fluidized bed (m)
n = concentration of adsorbed species in sorbent (mol/kg
sorbent)
NHX = number of heat exchanger tubes
Nuh = heat exchanger Nusselt number
Nup = particle Nusselt number
P = gas pressure (Pa)
Pr = Prandlt number
r = rate of reaction (mol/(m3 s))
Red = emulsion region Reynolds number
Rep,mf = particle Reynolds number at minimum fluidization
conditions

T = temperature (K)
ΔTHX = temperature difference between heat exchanger tubes
and emulsion region (K)
Tref = thermodynamic reference temperature (K)
us = emulsion region solids velocity (m/s)
vb = axial bubble velocity (m/s)
ve = gas velocity in emulsion region (m/s)
vg = superficial gas velocity (m/s)
vmf = minimum fluidization velocity (m/s)
x = height above distributor plate (m)
y = gas phase mole fraction (mol/mol)

Greek Characters
α = cloud-wake to bubble volume ratio (m3/m3)
γ1, γ2, γ3 = bubble growth coefficients
δ = bubble volume fraction
ε = cross-sectional average voidage (m3/m3)
εd = emulsion region voidage (m3/m3)
εmf = voidage at minimum fluidization conditions (m3/m3)
μg = dynamic viscosity of gas (kg/(m s))
ρg = gas density (kg/m3)
ρs = solid density (kg/m3)
τ = bubble residence time at heat exchanger surface (s)
ϕs = particle sphericity

Subscripts
b = bubble region
c = cloud-wake region
e = emulsion region
g = gas phase
i = adsorbed species
j = gaseous species
k = reaction
r = region
s = solid phase
t = total
x = value at height x
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