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. ABSTRACT 

The work on this project was initiated on September 1, 1992. The project consisted of two 

tasks: 1. Development of a thermodynamic model for hydrogen solubility in hydrocarbons and 

extension of this model to predict solubility of hydrogen in hydrocracker feedstocks at conditions 

similar to those of hydrocracking operations, and 2. Design and construction of a gas solubility 

apparatus to measure solubility of hydrogen in hydrocarbons and in hydrocracker feedstocks. 

The theoretical work proposed was fully accomplished by developing a sophisticated model 

for hydrogen solubility in hydrocarbons and in hydrocracker feedstocks at advanced temperatures and 

pressures. Two papers on this work have been submitted to the Journal, Industrial and Engineering 

Chemistry Research. Reviews of these articles are likely to be available shortly. 

The proposed experimental work ran into a number of obstacles, especially to get the original 

and newly designed on-line sampling technique to h c t i o n  properly. A number of calibrations and 

tests for reproducibility were necessary to assure the accuracy of measured data. Although a very 

well designed gas solubility apparatus was built, not much tim&was left to generate sigmficant 

hydrogen solubility data. The p h  are to use the apparatus in fbture to measure hydrogen solubility 
r 

data in liquid fuels to facilitate more efficient design of fie1 conversion systems. 
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PROJECT OBJECTIVES AND SCOPE 

The objective of this project is to determine the conditions for the hydrogen-heavy oil feed 

preparation so as to optimize the yield of hydrocracking reactions. Proper contacting of hydrogen 

with heavy oil on the catalyst bed is necessary to improve the yields of the hydrocracking reactions. 

It is most desirable to have the necessary amount of hydrogen available either in the dissolved or in 
entrained state, so that hydrogen diffusion to the reaction site does not provide rate controlling 

resistance to the overd rates of hydrocracking reactions. This project proposes to measure solubility 

and entrainment data for hydrogen in heavy oils at conditions such as in hydrocrackers, and 

investigate the improvement of these properties by usage of appropriate additives. Specifically, 

measurements will be canid out at temperatures up to 300 C and pressures up to 120 atmospheres. 

Correlations for solubility and entrainment kinetics will be developed fkom the measured data, and 

a method for estimating the yield of hydrocracking reactions using these correlations will be 

suggested. Exxon Research and Engineering Company will serve as private sector collaborator 

providing A&T with test samples and some technical expertise that will assure successfid completion 

of the project. 
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TECHNICAL HIGHLIGHTS AND MILESTONES 

The detailed account of the progress on this project is divided mto two parts. In the first part 

we present the thermodynamic model for hydrogen solubility in hydrocarbons and in petroleum 

fractions. In the second part, the solubility apparatus for hydrogen solubility measurements is 

described. Thermodynamic model development work has resulted in two papers. Plans are to 

prepare two more papers for publication ftom the experimental work completed. 
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PART 1 

A THERMODYNAMIC MODEL FOR HYDROGEN 
SOLUBILITY IN PETROLEUM FRACTIONS 

* Junjie Luo 

and 

V. N. Kabadi 
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CHAPTER I 

INTRODUCTION 

1.1 Project Objective and Scope 

The objective of this project is to determine the conditions for the hydrogen - heavy 

oil feed preparation so as to optimize the yield of hydrocracking reactions. Proper con- 

tacting of hydrogen with heavy oil on the catalytic bed is necessary to improve the yields 

of the hydrocracking reactions. It is most desirable to have the necessary amount of hy- 

drogen available either the dissolved or in entrained s k e ,  so that hydrogen diffusion to 

the reaction site does not provide rate controlling resistance to the overall rates of hydroc- 

racking reactions. This project will develop the new correlations for solubility from the 

4 

experimental data and tested by measured data. 

1.2 Introduction to Refining Hydroprocessing 

The use of hydrogen in thermal processes is perhaps the single most significant 

advance in refining technology during the twentieth century [SI. The process uses the 

principle that the presence of hydrogen during a thermal reaction of a petroleum feedstock 

terminates many of the coke-forming reactions and enhances the yields of the lower boiling 

components, such as gasoline, kerosene, and jet fuel. 

There is a rough correlation between the quality of petroleum products and their 

hydrogen content. It is happens that desirable aviation gasolines, kerosenes, diesel fuels, 

and steam turbine and most other good lubricating oils are made up of hydrocarbons con- 

taining high proportions of hydrogen. In addition; it is usudly possible to convert olefins 
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and ploycyclics to paraffins and monocyclic hydrocarbons by hydrogen-adding processes. 

These facts have for many years encouraged attempts to employ hydrogenation for refining 

operations; despite considerable technical success, such processes were not economically 

possible until low-priced hydrogen became available as result of the rise of hydroreform- 

ing, which converts naphthenes to aromatics with the re:lease of hydrogen. 

Hydrogenation process for the conversion of petroleum fractions and petroleum 

products may be classified as destructive and nondestructive. Destructive 

hydrogenation(hydrogeno)sis or hydrocracking is characterized by the cleavage of carbon- 

carbon linkages accompanied by hydrogen saturation of the fragments to produce lower 

boiling products. Such treatment requires severe processing conditions and the use of high 

hydrogen pressures to minimize polymerizations arid condensations leading to coke 

formation. Many other reactions, such as isomerizath, dehydrogenation, and cyclization, 

occur under the drastic conditions employed. In fact hydrocracking is perhaps the single 

most significant advance in petroleum refining technology over the last several decades. It 

is essentially an efficient thermal catalytic method of converting refractory material to 

gasoline. However, hydrocracking should not be regarded as a competitor for catalytic 

cracking. Catalytic cracking units normally use virgin gas oils as feedstocks; hydrocrack- 

ing feedstock usually consists of refractive gas oils derived from cracking and coking 

operations. Hence, hydrocracking is a supplement to, rather than a replacement for, cata- 

lytic cracking. 

Nondestructive or simple hydrogenation is generally used for the purpose of im- 

proving product quality without appreciable alteration of the boiling range. Mild 

processing conditions are employed so that only the more unstable materials are attacked. 

Thus nitrogen, sulfix, and oxygen compounds undergo hydrogenolysis to split out ammo- 

nia, hydrogen sulfide, and water, respectively. Olefins are saturated and unstable 

F- 
3 
f 

- 
L 
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compounds, such as diolefins, which might lead to the formation of gums or insoluble 

materials, are converted to more stable compounds. Heavy metals present in the feedstock 

are also usually removed during hydrogen processing [1,87]. 

If high-molecul&weight petroleum fractions are pyrolyzed, that is, if no hydroge- 

nation occurs, progressive cracking and polymerization generally lead to the final 

products, which are usually (1) gaseous and low-boiling liquid compounds of high hydro- 

gen content, (2) liquid material of intermediate molecular weight with a hydrogen-carbon 

atomic ratio differing more or less from that of the original feedstock, depending on the 

method of operation, and (3) material of high molecular weight, such as tar and petroleum 

coke, possessing a lower hydrogen-carbon atomic ration than the starting material. Highly 

aromatic or refractory cycle stocks or gas oils that contain varying proportions of highly 

condensed - aromatic structures (naphthalene, phenanthrene, and pyrene types) Psually 

crack, in the absence of hydrogen, to yield tar and coke. 

a c 

- 

An essential difference between pyrolysis and hydrogenolysis of petroleum is that . 

in pyrolysis a certain amount of polymerized heavier products, like tar and coke, is always 

formed along with the light products, such as gas and gasoline, but during hydrogenolysis 

(destructive hydrogenation) polymerization may be partly or even entirely prevented so 

that only light products are formed. The prevention of tar and coke formation usually 

results in an increased gasoline yield. The condensed type of molecule, such as naphtha- 

lene or anthracene, is one that is closely associated with the formation of tar and especially 

coke, but in an atmosphere of hydrogen and in contact with catalysts, these condensed 

molecules are converted in lower molecular weight saturated compounds that boil within 

the gasoline range. 

Hydrotreating in carried out by charging the feed to the reactor, together with a 

portion of all the hydrogen produced in the catalytic reforner. Suitable catalysts are tung- 
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estennickel sulfide, cobalt-molybdenum-alumina, nickel oxide-silica-alumina, and 

platinum-alumina. Most processes employ cobalt-molybdena catalysts, which generally 

contain about 10% molybdenum oxide and less than 1% cobalt oxide supported on 

alumina. The temperatures employed are in the range of 300,345°C (57O-85O0F), and the 

hydrogen pressures are about 500-1000 psig. 

. .  

The reaction generally takes place in the vapor phase but, depending on the appli- 

cation, may be a mixed-phase reaction. The reaction products are cooled in a heat 

exchanger and led to a high-pressure separator where hydrogen gas is separated for 

recycling. Liquid products from the high-pressure separator flow to a low-pressure sepa- 

rator (stabilizer) where dissolved light gases are remove:d. The product may then be fed to 

a r e f o M g  or cracking unit if desired. Generally, it is more economical to hydrotreat 
a 

' h igh- sub  feedstocks before catalytic cracking than to hydroheat the pro;ducts from-cata- 

1 lytic cracking. The advantages are (1) the products require less finishing, (2) sulfur is 

removed from the catalytic cracking feedstock, and corrosion is reduced in the cracking 

unit, and (3) carbon formation during cracking is reduced and higher conversions result, 

and (4) the catalytic cracking quality of the gas oil fraction is improved. 

The mechanism of hydrocracking is basically similar to that of catalytic cracking, 

but with concurrent hydrogenation. Carbonium ions are produced via olefin intermediates 

and are quickly hydrogenated under the high-hydrogen partial pressures employed in 

hydrocracking. The rapid hydrogenation prevents adsorption of olefin on the catalyst and, 

hence, prevents their subsequent dehydrogenation, which ultimately leads to coke forma- 

tion so that long on-stream times can be obtained without the necessity of catalyst 

regeneration. 

One of the most important reactions in hydrocracking is the partial hydrogenation 

of polycyclic aromatics followed by rupture of the saturated rings to form substituted 

..:. .... . . .. ..-. . . .  . .  . . . ~  .... : .~ . . : :  -. . . . . . . . . . ... 
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monocyclic aromatics,. The side chains may then be split off to give isoparaffins. It is 

desirable to avoid excessive hydrogenation activity of the catalyst so that the monocyclic 

aromatics become hydrogenated to naphthenes; furthermore, repeated hydrogenation leads 

to loss in octane number, which increases the catalytic reforming required to process the 

hydrocracked naphtha. 

Side chains of three or four carbon atoms are easily removed from an aromatic ring 

during catalytic cracking, but the reaction of aromatic Mgs with shorter side chains ap- 

pears to be quite different. For example, hydrocracking single-ring aromatics containing 

four or more methyl groups produces largely isobutane and benzene. It may be that suc- 

cessive isomerization of the feed molecule adsorbed on the catalyst occurs until a 

four-carbon side chain is formed, which then breaks off to yield isobutane and benzene. 

- Paraffin wax decomposes at about equal rates in the presence and abseri'ce of hy- 

drogen with and without catalyst, but both gas oils and heavier tars high in polynuclear 

aromatics have been found to form gasoline faster in the presence of hydrogen and a suit- 

able catalyst then when cracked thermally. Coke formation is very low in such hydroc- 

racking; secondary reactions, such as polymerization and condensation, ordinary 

precursors to coke production, are suppressed, progressively so as hydrogen pressure is 

increased. 

When applied to crude oil residues the hydrocracking process can be used for sev- 

eral operations: 

1. Fuel oil desulfurization 

2. 

3. 

Residue conversion to lower boiling distillates 

Production of high-quality synthetic crude oil from heavy residues 

The products from hydrocracking are composed of either saturated or aromatic 

compounds; no olefins are found. In making gasoline, the lower paraffims formed have 
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high octane numbers; for example, the 5- and 6-carbon number fractions have leaded r 

search octane numbers of 00-100. The remaining gasoline has excellent properties as a ' 

feed to catalytic reforming, producing a highly aromatic gasoline that worth added lead, 

easily attains a 100 octane number. Both gasolines are suitable for permium-grade motor 

gasoline. Another attractive feature of hydrocracking is the low yield of gaseous compo- 

nents, such as methane, ethane, and propane, which are less desirable than gasoline. When 

making jet fuel, more hydrogenation activity of the catalysis is used, since jet fuel contains 

more saturates than gasoline. 

The hydrocracking process is being applied in (other areas, notably to produce lu- 

bricating oils and to convert very asphaltic and high-boiling residues to lower boiling fuels. 

Its use will certainly increase greatly in the future, since it accomplishes two needed func- 

tions in the petroleum fuel economy: large, unwieldy molecules are cracked; and the 

needed hydrogen is added to produce useful, highquality fuels. 

4 

a 

The problems encountered in hydrocracking heavy feedstocks can be directly 

equated to the amount of complex, higher boiling constituents that may require pretreat- 

ment [81,94]. Processing these feedstocks is not merely a matter of applying know-how 

derived from refining "conventional" crude oils but requires a knowledge of composition. 

The materials are not only complex in terms of the carbon number and boiling point ranges 

but also because a large part of this "envelope" falls into a range of model compounds 

about which very little is known. It is also established that the majority of the higher 

molecular weight constituents produce liquids (with some coke). It is to both of these 

trends that hydrocracking is aimed. 

The choice of processing schemes for a given hydrocracking application depends 

upon the nature of the feedstock as well as the product requirements [2, 69,70,102]. The 

process can be simply illustrated as a single-stage or its a two-stage operation. The single- 

1 

c 

- .  
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stage process can be used to produce gasoline but is more often used to produce middle 

distillate'fiom heavy vacuum gas oils; the two-stage process was developed primarily to 

produce high yields of gasoline from staright-run gas oils, and the first stage may actually 

be a purification step to remove sulfur-containing (as well as nitrogen-containing) organic 

materials. Both processes use an extinction-recycling technique to maximize the yields of 

the desired product. Significant conversion of heavy feedstocks can be accomplished by 

hydrocracking at high seventy [42]. For some applications, the products boiling up to 

650'F ( 340'C ) can be blended to give the desired final product. 

Attention must also be given to the coke mitigation aspects. For example, in the 

hydrogen addition options particular attention must be given to hydrogen management, 

thereby promoting asphaltene fragmentation to lighter products rather than to the produc- 

tion of coke. The presence of a material with good solvating power to diminish the possi- 

bility of coke formation is preferred. In this respect it is worth noting the reappearance of 

donor solvent processing of heavy oils [59,100], which has its roots in the older hydrogen 

donor diluent visbreaking process [7,10,52]. 

a - 

Hydrocracking is an extremely versatile process that can be utilized in many dif- 

ferent ways.One of the advantages of hydrocracking is its ability to break down 

high-boiling aromatic stocks produced by catalytic cracking or coking. This is particularly 

desirable when maximum gasoline and minimum fuel oil must be made. For example, in 

the early days of the process, a particular type of feedstock was used to provide limited 

distribution of lower boiling products. However, it must be forgotten that product distri- 

bution and quality vary considerably depending upon the nature of the feedstock constitu- 

ents as well as on the process. In modem refineries, hydrocracking is one of several 

process options that can be applied to the production of liquid fuels from the heavier 

feedstocks. A most important aspect of the modem refinery operation is the desired prod- 

1 

a 
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a -  

uct slate, which dictates the matching of a process with any particular feedstock to over- 

come differences in feedstock composition. 

Hydrogen consumption is also a parameter that varies with feedstock composition, 

thereby indicating the need for a thorough understanding of the feedstock constituents if 

the process is to be employed to maximum efficiency. A convenient means of under- 

standing the influence of feedstock on the hydrocracking process is through a study of the 

hydrogen content (H/C atomic ration ) and molecular weight (carbon number) of the vari- 

ous feedstocks or products. Such data show the extent to which the carbon number and / 

or the relative amount of hydrogen that must be added to generate the desired lower mo- 

lecular weight, hydrogenated products must be reduced. In addition, it is also possible to 

use data for hydrogen usage in residuum processing, share the relative amount of hydrogen 

consumed in the process can be'shown to be dependent upon fhe sulfur content of the - 
feedstock. 

a 

.. 

The purpose of hydrocrac'king is to convert high-boiling feedstocks to lower boil- 

ing products by cracking the hydocarbons in the feed and hydrogenating the unsaturated, 

materials in the product streams. The polycyclic aromatics are first partially hydrogenated 

before cracking of the aromatic nucleus takes place. The mulfur and nitrogen atoms are 

converted to hydrogen sulfide and ammonia, but a moire important role of the hydrogena- 

tion is probably to hydrogenate the coke precursors rapidly and prevent their conversion to 

coke. 

The petroleum industry often employs two-stage processes in which the feed stock 

undergoes both hydrotreating and hydrocracking. In the first, or pretreating, stage the main 

purpose is conversion of nitrogen compounds in the feed to hydrocarbons and to ammonia 

by hydrogenation and mild hydrocracking. Typical condition are 650-740'F (34O-39O0C), 

150-2500 psig (1-17 MPa), and a catalyst contact time of 0.5-1.5 h; up to 1.5 wt% hydro- 
a.'. 
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gen is absorbed, partly by conversion of the nitrogen compounds but chiefly by aromatic 

compounds that are hydrogenated. It is most important to reduce the nitrogen content of 

the product oil to less than 0.001 wt% (10 parts per million). This stage is usually carried 

out with a bifunctional catalyst containing hydrogenation promoters, for example, nickel 

and tungsten or molybdenum sulfides, on an acid support, such as silica-alumina The 

metal sulfides hydrogenate aromatics and nitrogen compounds are prevent deposition of 

carbonaceous deposits; the acid support accelerates nitrogen removal as ammonia by 

breaking carbon-nitrogen bonds. 

Most of hydrocracking is accomplished in the second stage, which resembles the 

fust but uses a different catalyst. Ammonia and some gasoline are usually removed from 

the first-stage product, and then,the remaining oil , which is low in nitrogen compounds, is 

passed over the second-stage catalyst. Again, typical conditions are 600-700'F (300-3 

70°C), 1500-2500 psig (10-17 MPa) hydrogen pressure, and 0.5-1.5 h contact time; 1-1.5 

. 

- 
.I 

wt % hydrogen may be absorbed. Conversion to gasoline or jet fuel is seldom complete in 

one contact with the catalyst, so the lighter oils are removed by distillation of the products 

and the heavier, higher-boiling product combined with fiesh feed and recycled over the 

catalyst until it is completely converted. 

1.3 Need for a New Correlation for Solubility 

Hydrogen solubility is a major factor in the design of crude oil hydrocracking 

process. In most current hydrocracking process, crude oil fractions undergo catalytically 

hydrogenated reactions to increase the hydrogen-to-carbon ration of the fuel. In these re- 

actions, proper contaction of hydrogen with heavy oil on the catalytic bed is necessary to 

improve the yields of the hydrocracking reactions. It is most desirable to have the neces- 

sary amount of hydrogen available either in the dissolved or in entrained state, so that 
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hydrogen diffusion to the reaction site does not provide rate controlling resistance to the 

overall rates of hydrocracking reactions. At the same liIme, hydrogen traces in the product 

streams may affect the quality of the final product. Thus reliable estimates of hydrogen 

solubility in hydrocarbons and crude oil fractions are necessary. Hydrocracking reactions 

normally carried out at average catalyst temperatures between 550 and 750 O F and at 

reactor pressures between 1,200 and 2,000 psig. A good method of correlating the solu- 

bility of hydrogen at such high temperatures and pressures is still not available. 

A number of correlations (explained in detail in chapter ‘11) have been developed for 

the solubility of hydrogen in hydrocarbon solvents. Most of these are limited to low pres- 

sures and room temperatures. The other methods are cannot be recommended for general 

applications. There i s  a clear need for a new correlatialn for hydrogen solubility. 

In this work,-we present a correlation of the solubility of hydrogen based on aU - 
available phase equilibrium data for hydrogen-containing mixtures of identifiable compo- 

nents at temperature up to 700 K and pressures up to 600 bar. The correlation for hydrogen 

- hydrocarbon systems has been developed and is discussed in detail in chapter III. This 

model has been extended for hydrogen solubility prediction in petroleum fractions using an 

approximate method for petroleum fraction characterization into molecular weigh distri- 

butions and function$ group compositions, which is explained in chapter N. 

i 
t 
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CHAPTER II 

REVIEW OF MODELS FOR GAS SOLUBILITY 

The solubility of hydrogen in hydrocarbon solvents is of interest in hydrofining of 

oil and coal where it is basic to engineering design of the processes and to analysis of 

reaction kinetics. Recent intensified development of coal liquefaction has amplified this 

interest. Accurate description of phase equilibria in systems containing subcritical as well 

as supercritical components has recently attained much attention. 

A number of correlations have been developed for the calculation of gas 

solubilities. The regions of pressure and temperature which are of interest in gas-liquid 

equilibrium (GLE) calculations range from low temperatire and pressure up to the critical 

point of the system under consideration. The liquid solvents are often complex mixtures 

- 

and may contain polar as well as nonpolar substances. 

Experimental data are scarce in this field. It is therefore desirable to develop mod- 

els for GLE which do not need specific information concerning the system in question but 

only certain information concerning the behavior of the constituent parts of the molecules, 

Le., the groups they contain. In this way it is possible to cover a variety of solvents using 

only a few group parameters. 

2.1 Thermodynamics and Some GLE Calculation Methods 

The solubility of gases in liquids has been under quantitative investigation since the 

beginning of the nineteenth century. The last decade has seen some remarkable advances 

in theory, empirical correlations, systems studied, and apparatus. Much of the earlier work 
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was more qualitative than quantitative. Gas solubilities have become increasingly more 

important for both the theoretical understanding of the liquid state and solutions. A rigor- 

ous method for the prediction of gas solubilities requires a valid theory of solutions. Such 

a theory is unfortunately, not available, but for a semiempirical description of nonpolar 

systems the theory of regular solutions can serve as the basis of a correlating scheme. 

Previous attempts to use regular solution theory for gas-liquid solutions [I 1,22,28,51,76] 

have been quite successful. However these earlier studies were concerned either with a 

particular class of solutions (such as hydrocarbons), or were limited to a particular tem- 

perature , or were chiefly interested in the theoretical aspects of the problem. 

The Krichevsky-Kasamovsky equation [49] ekes an excellent representation of 

the solvent at high pressure. This equation can be ex:pected to hold for cases which con- 

form to the two assumptions on which the equation rests: One of these is that the activity 

coefficient of the solute does not change noticeably over the tmge of x2 ( mole fraction of 

gas in liquid phase) being considereed; in other words, x2 must be small. The other as- 

sumption states that the infinitely dilute solution must 'be essentially incompressible, which 

4 

is approximately true at temperatures far removed from the critical temperature of the 

solution. 

Chao and Seader [ 121 developed a correlation of vaporization-condensation equi- 

libria of hydrocarbon mixtures to apply at more general conditions. They included the 

solubility of hydrogen in the correlation. The data base for the hydrogen correlation was 

limited mainly to paraffm solvents with benzene, toluene, m-xylene, and cyclohexane and 

methylcyclohexane the only naphthenic solvents. ThLe temperature range of the data base 

was also quite limited. As a result , the correlation was specifically restricted to tempera- 

tures not to exceed 530 K. 

r 
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Grayson and Streed [33] modified the correlation of Chao and Seader on the basis 

of proprietary data on hydrogen + oil systems. The upper temperature limit was extended 

to about 740 K. 

Both the Chao-Seader correlation and the basic Chao-Seader relations with the 

Grayson-Streed numerical values of the coefficients can give us the good results for solu- 

bility predictions at high temperatures and pressures. They need specific information 

concerning the system in question, such as solubility parameters and liquid mole volume 

of the pure compounds including in the system. Since the general correlations for these 

two thermodynamic properties are st i l l  not available, they can not be recommended for 

predictions of gas solubility in undefined compounds, such as petroleum fractions. The 

comparison with these two correlations and our method developed in this work will be 

&cussed in chapter IJI. 
.. 
a 

In the following description of the thermodynamic background for gas solubility 

calculations we focus on expressions for the liquid phase fugacity of supercritical 

components. It may be assumed that the gas phase fugacities of subcritical as well as 

supercritical components can be calculated from an equation of state. The liquid phase 

fugacity of subcritical species can be calculated using the same procedures as in the case of 

vapor-liquid equilibrium (VLE) calculations; that is, either by means of an activity coeffi- 

cient approach (as indicated in eqn. 2.1 ) or by means of an equation of state (as indicated 

in eqn. 2.3 ). 

The isofugacity criterion for a supercritical component in a GLE system may be 

written in three basically different ways: 
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where f p  and ft are the fugacities of component i in the gas (G) and liquid (L) phase, Xi is 

the liquid mole fraction of component i, f: is the pure-component reference fugacity in the 

liquid state at system temperature T and pressure P, and % and %* are the activity coeffi- 

cients in the symmetric and unsymmetric conventions. Hi,S is Henry's constant for gas i in 

a pure solvent, or solvent mixture s, at the system T and P; hL is the fugacity coefficient in 

the liquid phase at T and P. 

The activity coefficient yc in eqn. (2.2) is a function of pressure P: 

P 
P 

* = $(P+) exp 1 [(Q - G ~ ~ ) / R T ] ~ P  'yi 

P+ 
.. 
. ) ,  

where p' is a reference pressure, Q is the partial molar volume of component i at the given 

composition (xI,xi,xN), Gi- is the partid molar volume of component i at infinitii dilution, 

and %* (P? is the activity coefficient at the reference pressure P'. Equation (2.4) is based 

on the assumption that H is is measured at pressure P. 

-_ 

Henry's constant is itself a function of pressure:: 

P 

P+ 

This means that if Henry's constant is referred to prewre P+, combination of eqns. (2.2), 

(2.4) and (2.5) yields 

. .. .. . ... - -: -. - I. .. . ~ . . .._.i. __.__... - . - .  - . .. 
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P 

(2.7) 
P+ 

Equation (2.1) requires the knowledge of a pure-component reference fugacity in 

the Squid state. Such a State is hypothetical for supercritical components, and the calcu- 

lation of this quantity must therefore be based on some kind of extrapolation of information 

concerning the pure-component fugacity (vapor pressure) as a function of temperature into 

the supercritical region. 

Prausnitz and Shair [79] have described a method for establishing a generalized 

plot of reduced referhce fugacity versus reduced temperature for low-pressure gas 
4 

a a 

.. 
solubilities. The plot covers most of the industrially important gases except H2, Ne, and He 

for reduced temperatures below 3.2. The model for activity coefficients used by Prausnitz 

and Shair is based on regular-solution theory and requires no binary parameters. The plot 

of reduced reference fugacity versus temperature is independent of solvent, at least in 

principle. However, the plot will reflect the inherent deficiencies of the model used for the . 

activity coefficient, and any reference fugacity plot should therefore be combined exclu- 

sively with the activity coefficient model on which it is based. Regular-solution theory 

cannot describe mixtures of, for example, associated and inert components. Activity co- 

efficient models which can represent complex systems (e.g., UNIQUAC, Wilson, N R l l )  

contain at least one parameter per pair of components. Low-pressure gas solubility data 

often cover a very narrow concentration range. It is therefore possible to estimate only one 

parameter from each new binary system. A reference fugacity plot for low-pressure gas 

solubilities using one of the more sophisticated activity coefficient models can hence not 
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be established. The reference fugacity approach of Prau:snitz and Shair is therefore useful 

only for relatively simple systems. 

Equation (2.2) requires a Henry's constant for the system considered., Henry's 

constant is a limiting property. It requires a few isothermal experimental solubility data 

points in the diluted region to obtain Hi, at the pure-solvent vapor pressure. Henry's 

constant is defined as 

where nj is the number of moles of component i. The lirrlit is taken at constant P and T and 

at constant numbers of moles of all components except component i. 

An experimental isothermal data set will, for example consist of the solubilities of 

a gas (2) in a solvent (1) as a function of the partial pressure of 2 in the gas phase. Such 

data cannot be used directly together with eqn. (2.8) to estimate H2,1, since the phase rule 

prevents P from being kept constant if the f2's are calculated along the phase boundary 

where f2" = fzL. The following arguments may be use to solve the problem. 

m 

. .  I 

If there is equilibrium at pressure P' between a gas and a liquid, then 

h 

At any pressure P 2 P' , 

P 

.h = fie- J @/RT)dP 
p' 

. .  
(2.10) 

L ;  
i 
i 

r / 



Henry's constant is given by eqn. (2.8) as 

(2.11) 

For n2 + 0, P' + PI& and 52 + GO'. Equation (2.11) may therefore be written as 

P 

(2.12) 

where cs inGcates that f; is taken on the p h s e  boundary. Setting P = PI'&. 
' a  

(2.13) 

Equation (2.13) shows that experimental phase equilibrium data at varying pressure P' may 

be used to calculate H2.1 (PI&), even though this quantity is defined as a limiting value at 

fixed pressure, PI&. 

In the Krichevsky-Ilinskaya procedure [SO], the two-suffix Margules equation is 

used for the activity coefficient in eqn. (2.2). This procedure works for simple (nonpolar) 

solvents up to relatively high pressures, provided that a good estimate can be supplied for 

the partial molar volume of the gas at infinite dilution (see eqn. 2.5). This equation is 

similar to the Krichevsky-Kasamovsky equation (mentioned before) except that this equa- 

tion takes into account deviations from Henry's Law due to the effect of composition in 

addition to the effect of total pressure, and has a wider applicability. It is especially useful 

for solutions of light gases in liquid solvents where the solubility is appreciable. 
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Orentlcher and Prausnitz [76] represented the thermodynamic model of hydrogen solubil- 

ity in cryogenic solvents at high pressure. solubility data for hydrogen in liquids at 

low temperature and high pressure have been reduced by a thermodynamic relation similar 

to the Krichevslq-Kasamovsky equation. but allowing for the variation of activity coeffi- 

cients with the hydrogen concentration. The parameters appearing in this relation have 

been partially correlated on the basis of a very simple solution model. 

Mathias and O’connell [60] used the Henry’s constant concept in applying their 

direct-correlation-function approach. The idea of a Henry’s constant for a reference sol- 

vent, as used by Mathias and O’connell, is further explained in the following section. 

%-% z 
L 
Q 

i- 

r 
i * 

The approaches according to eqn (2.1) and (2.2) have common weakness. The use 
h 

of one model for the gas phase and another model for the liquid phase inevitably leads to 

difficulties near the critical point. The critical point described by the equation of state for 

the gas phase will not in general agree with the critical point described by the reference 
- 

fugacity and activity coefficient models. These last models may exhibit no critical point at 

all. Furthermore, application of these two approaches b high pressure GLE requires fairly 

accurate description of the volumetric properties of the liquid phase. A solution to the 

above-mentioned problems is the application of a suitalble equation of state for both phas- 

es, i.e., eqn. (2.3). Simple equations of state, for example the Soave-Redlich-Kwong 

equation. describe phase equilibria in systems containing simple nonpolar substances with 

high accuracy over wide ranges of temperature and pressure. Several attempts have been 

made to extend the applicability of the equation-of-state approach to complex mixtures. 

Baumgaertner et al. [6] combined chemical theory with Rdelich-Kwong equation for co 

ponents with strong specific interactions (water, organic acids, etc). Although this 

procedure leads to substantial improvements in the representation of phase equilibria, it 

cannot be recommended for general applications. The use of chemical theory leads to a 

-.. 
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considerable increase in the number of model parameters, and the solution of the m a s  

balances leads to a severe increase of computational effort. 

The work of Huron and Vidal[43]), Mollerup 1631 and Whiting and Prausnitz [loll 

presents some interesting new ideas about miXing rules in equations of state. These new 

equations are based on a combination of simple equations of state, such as the Soave 

Reach-Kwong or the Van der Waals equation, With the very successful local-composition 

models for the Gibbs excess function. such as the Wilson, NRTL or W Q U A C  equations. 

Such equations may prove useful for high-pressure GLE calculations for systems contain- 

ing relatively complex solvents. 

The "parameters from group contributions" equation of state [17] is based on a 

combination of the Wilson model for excess properties and an empirical description of 

liquid expansion [102]. As indicated by the name, this equation corr?bines the advantages 

of an equation of state with the ahvantage of describing a vMety of substances by means 

of relatively few group parameters. The results obtained by Cunningham [ 171 and Mosh- ' 

feghian et al. [65] indicate that it is possible to apply the group-contribution concept to 

equations of state. 

- 

2.2 UNIFAC Group Contribution Method 

The W A C  (UNIQUAC Functional Group Activity Coefficients) group- contri- 

bution method has a number of years been applied to predict activity coefficients for non- 

electrolytic liquid mixtures. The method has thereby become a fast and reliable tool for 

prediction liquid-phase activity coefficients in nonelectrolyte mixture at low to moderate 

pressures and temperatures between 300 and 425 K. It has become widely used in practical 

chemical engineering applications, most notably in phase equilibrium calculations in cases 

where little or no relevant experimental information is available. 
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The UNEAC method was originally developed by Fredenslund et al[24]. Later 

the method was revised and its range of applicability considerably extended [26,27,92]. 

The parameters needed for the use of UNIFAC are grciup volumes (R3, group surface 

areas (Qd, and group-interaction parameters (ama and amJ. The uses and shortcomings of 

UNIFAC is that the built-in temperature dependence is not good enough for simultaneous 

prediction of vapor-liquid equilibria (VLE) and excess enthalpies (HE). 

The modified UNIFAC model [53] for predicting activity coefficients presented in 

this work is based on the well-known UNIFAC model. Two changes are introduced in 

modified UNIFAC: (1) the group-interaction-parameters have been made temperature- 

dependent and (2) the combinatorial term is slightly modified according to the ideas of 

Kikic et al[48]. It is shown that modified UNIFAC gives somewhat better predictions of 

vapor-liquid equilibria than do& W A C ,  while the predictions of excess enhlpies are 

much improved. Hence, modified W A C  has a better built-in temperature dependence 

than UNIFAC. It was concluded that good VLE results including a successful description 

of the temperature dependency of group interaction parameters were obtained. 

a 

Sander and his coworker [86] reviewed the fundamental thermodynamics needed 

for the calculation of gas solubilities. It is shown that the UNIFAC group-contribution 

method can be applied to predict the solubility of some gases of industrial impo&nce 

(methane, ethane, ethylene, acetylene, hydrogen, oxygen, nitrogen, hydrogen sulphide, 

carbon monoxide and carbon dioxide in pure solvent and solvent mixtures. The method is 

applicable at low pressures (up to -10 bar) and low solubilities (up to a mole fractions of 

\ 

41), and to both nonpolar and polar nonelectrolytic so'lvents. 

The UNIFAC method is fully described in those references we mentioned before 

and we do not here repeat the description. It is the aim o€ this work to predict the solubility 

of hydrogen in hydrocarbon solvents and petroleum fractions at advanced temperatures 
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and pressures. The extensions and revisions of the W A C  parameters tables which can 

be used at high temperatures will be reported in chapter III. 

2.3 Methods for Prediction of Hydrogen Solubilities in Petroleum Fractions 
and Coal Liquids 

Petroleum crude oil and coal liquids are complex mixtures of mainly p d i s ,  

naphthenes, and aromatic compounds. For oil fractions of molecular weight higher than 

about 100, it is unpractical to list all of the compounds present. Hence, one of the major 

problems in phase equilibrium calculations involving such fractions is the representation of 

the many different hydrocarbons in terms of a few properly averaged characteristic. 

The work presented by Ruzicka et al[85] describes a new method of characterizing 

heavy petroleum fractions. In this work, the UNIFAC grocp-contribution method for pre-. 

dicting vapor4iquid equilibria has been used as a basis for describing complex petroleum 

fraction in terms of model compounds. Standard procedures may be used to estimate crit- 

ical properties, acentric factors, and molecular weights for the model compounds. This 

allows the inclusion of complex petroleum fractions in already available generalized meth- 

a 

ods for phase equilibrium calculations, based on equation of state or the UNIFAC 

group-contribution method. Good results are obtained for lower and medium molecular 

weight petroleum fractions at temperatures up to 600 K. At higher temperatures, the meth- 

od may fail due to present limitations of the W A C  method. 

Hartoumian and Allen [37] has proposed a method for estimating the solubility of 

hydrogen in Wilsonville ITSL coal derived liquid using the UNIFAC group contribution 

method. Functional group concentrations estimated from analytical data were combined 

with literature values of group contribution parameters to provide reasonable estimates of 

hydrogen solubility. 

. . . .  
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The method of Mohamed and Elkilani [61] has been known to work well for pre- 

diction of the solubilities of hydrogen in the naphtha reformate cut (423-473 IC) by using 

modified UNIFAC group contribution method. It has been shown that the predicted solu- 

bility data were compared favorably with experimental values obtained by the pulse 

response technique using gas chromatography within 10% error at one atmosphere. 

Mohamed and Elkilani [62] also presented the use of the modified UNIFAC group 

contribution method for estimating hydrogen solubility in different crude oil fractions. 
I Functional group concentration were estimated from suggested group model structures. 

An optimization technique was carried out on critical properties to test the group model 

structure. The validity of this approach was verified by comparing the predicted and e 

perimental hydrogen solubilities at temperatures up to 473 K, and pressures up to one 

atmosphere. The experimental hydrogen solubilities wgre measured by means of pulse 
- . 

response techniques. 

In summary, there are number of methods a.vailable for the prediction of gas 

solubilities. Though, no one method is applicable to estimate the hydrogen solubility in 

hydrocarbon solvents and petroleum fractions at advanced temperatures and pressures, 

many of the methodologies and approaches are very sound at it would be wise io take 

advantage of these concepts and ideas for the development of a new method for hydrogen 

solubility in petroleum fractions. The further extensions and revisions of these methods 

will be reported in detail in chapter ID and IV. 



CHAPTER II1[ 

THE MODEL FOR HYDROGEN SOLUBILITY IN HYDROCARBON 
SOLVENTS 

3.1 Overall Philosophy of the Model 

As we discussed in chapter I, recent intensified development of hydrofining pro- 

cesses, particularly hydrocracking reactions, has increased the need for knowledge of 

hydrogen solubilities in petroleum fractions at advanced temperatures and pressures. This 

information is required for engineering design and analysis of reaction kinetics of hydro- 

fining process. - 
- 

Petroleum fractions are mixtures of different hydrocarbons, mainly paraffins, naph- 

thenes, and aromatic compounds, &om different homologous groups. It is believe that any 

model for predicting the hydrogen solubility in petroleum fractions must in the fist place 

work well for the compounds that are characteristic of those found in petroleum fractions. 

Hence, as a first step it was necessary to develop an accurate model to predict the hydrogen 

solubilities in hydrocarbon solvents at high temperatures and pressures. 

The models used by various researchers for the prediction of gas solubilities were 

discuss in detail in chapter II. Since the objective of this work was to develop a thermo- 

dynamic model for predicting hydrogen solubility in hydrocarbon solvents, and moreover 

finally extend the model to petroleum fractions so as to optimize the yield of hydrocracking 

reactions, it is clear that there is no method available now which appears to be useful. 

Some methods can only be used at room temperatures and low pressures. Some methods 
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have some common weaknesses. The use of one model for the gas phase and another 

model for the liquid phase inevitably leads to difficulties near the critical point. 

After reviews of various correlation methods in the literature which considered for 

gas solubility calculations, the method of Sander et al [ 861 seems most attractive. Central 

to this method is an expression for Henry’s Law constants for hydrogen in a reference 

solvent at supcritical temperature and modified W A C  group contribution method for 

activity coefficients of hydrogen in the solution. Our method varies some what from the 

correlation for vapor phase fugacity calculation, and lJNIFAC goup-interaction parame- 

ters have been made different temperature dependent. It is shown that the model we 

presented in this work provides the way which gives better prediction of vapor-liquid 

equilibria for hydrogen - hydrocarbon systems at high temperatures and pressures. New 

interaction parameters between hydrogen and hydrocarbon groups are predicted inathis 

work as a function of temperature and are used to apply the modified UNIFAC method for 

4 

solubility prediction. It the following sections, we wid1 discuss our method in detail and 

present the results. 

3.2 Data Compilation 

In this work, we have extended the UNIFAC group-interaction parameter by in- 

cluding experimental vapor - liquid equilibrium data for hydrogen - hydrocarbon and 

hydrocarbon - hydrocarbon systems published until the middle of 1950. As a first step 

towards the development of a model, the experimentdl hydrogen solubility data for 29 hy- 

drogen - hydrocarbon systems at high temperatures and pressures were compiled. The data 

set had 1345 vapor - liquid equilibrium data points in the temperature range from 277 K to 

623 K, and pressure up to 680 atmosphere. These experimental data are automatically 

retrieved from the data bank and used directly in the UNEAC group - interaction param- 

eter estimation procedures. 

E 

* 

L 

. .  
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3.3 Model Development 

As discussed in chapter II, the UNIFAC group-contribution method has for a num- 

ber of years been applied to predict activity coefficients or nonelectrolytic liquid mixtures. 

The method has thereby become a fast and reliable tool for the prediction of VLE data [30] 

for systems for which little or no experimental information is available. 

The fundamental equations for calculation of GLE are the same as for WE, an 

hence it should also be possible to predict the solubility of a gas in a solvent or a solvent 

mixture by means of the UMFAC method. 

The isofugacity criterion for hydrogen dissolved in a hydrocarbon solvent may be 

represented in the following way: 
a -  

m f? = fiL 
f2G = f2L 

where subscript 1 refers to hydrocarbon solvent,; subscript 2 refers to hydrogen, and G and 

L correspond to gas and liquid phase. flG and f2G are the fugacity of hydrocarbon and 

hydrogen in the vapor phase respectively, and will be cdculated from the virid equation of 

state by the following procedure. 

3.3.1 Vapor Phase Fugacity 

The fugacity of a component in a mixture depends on the temperature, pressure and 

composition of that mixture. In principle, any measure of composition can be used. For 

the vapor phase, the composition is nearly always expressed by the mole fraction y. To 

relate f? to temperature, pressure, and mole fraction, it is useful to introduce the fugacity 
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coefficient $i. It is defrned as the ration of that component’s fugacity in the mixture to its 

partial pressure [80]. In our case, it may be represented by 

and $2 in the above equations are the fugacity coefficjients of hydrocarbon and hydrogen 

in a vapor phase. It is given precisely by: 

P 

(3.5) 
0 

- .. 
Numerous equation of state have been proposed for pure gas1211. As almost all are 

empirical or at best semiempirical in nature, it has not been possible to make an accurate 

assessment of physical meaning which is associated with the various constants. It is this 

deficiency of equations of state for pure gases which has made it difficult to extend them 

to gas mixtures. Various empirical rules have been suggested for predicting the constants 

of a mixture from the constants of the pure components, but while some of these give good 

results in specific cases, they are generally not reliable:. All mixing rules which relate the 

constants of a mixture to those of the pure components must in some way reflect the nature 

of the intermolecular forces acting between unlike mollecules. These forces are sufficiently 

complex to render any particular mixing rule valid for only a restricted class of mixtures. 

In this work, we use the virial equation of state to calculate the fugacity coefficients 

proposed by Prausnitz [78]. It indicates that for the vast majority of chemical engineering 

problems the virid equation is the most suitable equation of state for fugacity calculations 

in mixtures. At very high densities the virial equation is not useful, since a large number 

. ... . .  . - .  
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of virial coefficients are required, but at pressures and temperatures commonly encoun- 

tered in chemical engineering work the virial equation is both adequate and convenient. 

This equation can be written in either a pressure - or a volume - explicit form. In this work 

we use pressure - explicit form which is more suitable for this work, since it requires a 

smaller number of terms and its coefficients have theoretical significance. It is given by 

z = - -  pw - 1 + Bp+ c p 2  + Dp3 ... 
RT 

B, C, and D are respectively the second, third, and fourth virial coefficients, which are 

functions of temperature and composition, but not of density or pressure. When terminated 

after the third virial coefficient, Equation (3.6) is valid up to almost the critical density and 

frequently beyond it. Since much information [35] is available on the second virial coef: 
L e 

ficients of numerous gases and the correlation for the third virial coefficient is available . -  
now, almost nothing is known about the fourth and higher virial coefficients , for all prac- 

tical purposes therefor the series in Equation (3.6) must be cut off after the third term. The 

finial correlation for fugacity coefficient using virial equation of state is: 

Equation (3.7) is an exact expression for the fugacity coefficient subject only to the 

restriction that the density be sufficiently small to permit neglect of terms involving the 

fourth and higher virial coefficients. For our case, Equation (3.7) is the most suitable now 

available. 

For the hydrogen - hydrocarbon binary system, Equation (3.7) can be expressed as 

follow 



Methods of estimating the second and third virid coefficient are proposed in fol- 

lowing section. The principle of these methods lies in an extension of the theorem of 

corresponding states to mixtures. This extension consists of the definition of parameters, 

which characterizes the interactions responsible for the cross coefficients and which, with 

suitable rearrangements of Pitser’s results for pure components are sufficient to estimate 

the cross coefficieGts. Because of its small masses, the properties of hydrogen can not be . 

described by classical statistical.mechanics. It is possible to write an expression for the - 
second and third virial coefficients of light gases, such as hydrogen, based on quantum 

m 

- 

mechanics. All of these ideas can best be summarized by the equations below. 
. .  

3.3.1.1 Estimation of the Second Virial Coefficients 

Reliable volumetric studies have been reported for only a limited number of 

mixtures. However a considerable body of results is available for pure gases, and with the 

help of existing theory of intermolecular forces it is possible in many cases to make food 

estimates of the second virial coefficients for mixture. Most experimental and theoretical 

work [99] has been concerned with the second virial coe:fficient, and at present much more 

is know about the third. Though Equation (3.7) is such tlhat the fugacity coefficient is much 

more sensitive to the various B terms than to the C te:rms, in this work due to the high 

pressure, it is necessary to keep the third virial coefficknt to calculate the fugacity coeffi- 

cients using Equation (3.7). The correlation for the: third virial coefficients will be 

proposed in the next section. 

a 
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The Goodwin Correlation [32] for the Second Virial Coefficient of Pure Hydrogen 
(B22) 

As we discussed before, the configurational properties of low molecular - weight 

gases (hydrogen, helium, and neon) must be described by quantum, rather than classical 

statistical mechanics. As a result, the properties of these gases do not follow the same 

corresponding state behavior as that for other gases when the true critical constants are 

used as the reducing parameter. Goodwin and his coworkers [32] have established empir- 

ical correlations for second and third coefficients of hydrogen over a wide temperature 

range. For the second virial coefficient, their results are given in the form: 

where X = 109.83 / T  

b i z  42.464 

b3 = -2.2982 

T ~ I I ' K  

b2 = -37.1172 

b4 = -3.0484 
. . .  

(3.10) 

The Piker - Curl - Tsnopoulos Correlation for the Second Virial Coefficients of Pure 
Hydrocarbon and Mixture of Hydrogen and Hydro'carbon: 

For a pure hydrocarbon, the generalized correlation for the second virial coefficient 

suggested by Pitzer and Curl [75] is given below 

(3.11) 

The function flo gives the reduced second virial coefficients for simple fluid (a = 

is a correction function which, when multiplied by a, gives the effect of 0) while fl 
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acentricity on the second virial coefficient. As modified by Tsonopoulos [99]. These { 
6 

functions are 

0.330 0.1385 0.0121 0.000607 
(3.12) r‘’’(TR) = 0.1445 - - - -- - 

TR 

where TR = T / Tc 

(3.13) 

Equation (3.11) , (3.12), and (3.13) provide a good correlation for the second virial 

coefficients of normal fluids. A normal fluid, such as hydrocarbons is one whose mole- 

cules are of moderate size, are nonpolar or else slightly polar, and do not associate strongly; 

further, it is a fluid whose configurational properties can be evaluated to sufficiently good 

approximation by classical rather than quantum, . statistical mechanics. . 

Methods of estimating the second virial cross coefficients have been proposed by 

Guggenheim and McGlashan [35] and Prausnitz and GUM 1771 have shown how these 

methods can be modifiedto handle complex mixtures of a variety of nonpolar or slightly 

polar compounds. The principle of these methods lie:: in an extension of the theorem of 

corresponding states to mixtures. This extension consists of the definition of parameters 

which characteize the interactions and which characterize the interactions responsible for 

the cross coefficients and which, with a suitable rearrangement of Pitzer’s results for pure 

compounds, are sufficient to estimate to estimate the cross coefficients. These ideas can 

best be summarized by the modified Pitzer - Curl - Tsnopoulos correlation discussed 

below. 

’ 

e 

s ’ l  

6 1  



31 

To estimate the cross - coefficient BIZ we use the same correlation presented in 

Equation (3.12) given below 

(3.14) 

In above equation, I? and I? are given by Equation (3.12) and (3.13). For 

mixtures containing one or more of the quantum gas, such as hydrogen, the effective crit- 

ical constants are given by the mixing rules of Chueh I131 as below. 

where 

(3.15) 

(3.16) 

(3.17) 

(3.18) 

(3.19) 

m in the Eq. (3.19) is the molecular weight. 

In above equations, the critical properties of hydrogen are adjusted in the mixing 

rules for better agreement with experimental data. The values of classifiable critical con- 

stants for hydrogen are ?,2 = 43.6 k, PoCz = 20.23 atm, and p c 2  = 51.50 crn3 mole-'. The 

I 

.--.. . ... ...... ~. . 
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constants C1, C2, and C3 in the above equations are the same for all quantum gases. They 

are (in g mole" K): CI = 21.8, C2 = 44.2, and C3 = -9.91. 

The characteristic binary constant kij represents the deviation from the geometric 

i 

i 

i 

mean for Tdj; when attention is limited to the vapor phase, it is, to a good approximation, 

a molecular constant independent of temperature, composition, and density. Since kij is 

characteristic of i - j interaction, it must be obtained from some experimental data for the i 

- j mixture. A good correlation for kij suggested by Tarakad and Danner [96] is shown as 

below. 

(3.20) 

m 
a 

m 

In the fdlowing section, we will discuss about the correlation for the third virial 

coefficients. 

3.3.1.2 Estimation of the Third Virial Coefficients 

Experimental information on third virial coefficients is scarce and the discrepancy 

between reported values for the same compound is, in imost case, considerable. Observa- 

tion of the data of third virial coefficients plotted versus reduced temperature for different 

fluids by Chueh and Prausnitz [14] suggested that the curves for different compounds will 

almost coincide if the values of the third virial coefficients for each compound were di- 

vided by the values of the third virial coefficient of the same compound at its critical 

temperature, T, 

In addition, it was found that the third virial coefficient at the critical temperature 

of each fluid, reduced using critical temperature and critical pressure as parameters, could 

be well correlated as a function of the acentric factor. Eked on these points, a generalized 

. - . . . . . .. . . . ... 
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empirical correlation using in this work for vapor phase fugacity calculation was developed 

by Hasan and Vera [38]. 

The correlation is similar to the successful empirical correlations for second virial 

coefficient we discussed before [75,99]. It requires a knowledge of the critical temperature 

critical pressure and acentric factor of the compounds for the prediction of third virial co- 

efficients in the absence of experimental data. The use of the correlation for mixtures of 

non polar gases, including quantum gases, required one binary parameter for each binary 

interaction. This fact allows the use of the density using the same information that previ- 

ously did not allow one to go beyond 0.5 the critical density. Within the accuracy of the 

experimental information on the third virial coefficients, the new correlation performs as 

well as the more complex expressions existing in the literature. The detailed the proce- 

dures are represented'as below . 

An Empirical Correlation for the Third Virial Coefficients of Pure Hydrocarbons: 
- .  

The generalized correlation for third virial coefficient developed by Hasan and 
. .  Vera [38] can be expressed by following equations: 

2 

(3.21) 

with 

~ ( " ( T T )  = 0.01407 + 0.02432/T~~*~ - 0. 00313/Tr'0*5 (3.22) 

f(')(Tr) = - 0.02676 + 0. 0177O/Tr2** + 0. O40/Tr3*O - 0. O03/Tr6*O (3.23) 

- 0. 00228/Tr10-5 

In general there is a good agreement which can be used at high temperature. The 

reason for this is that in the generalized correlation presented in this work, the high tem- 

. . . . . . . . . . . . . .  ........ . . . . . . . . . .  . . . . . . . . . . . . . . . .  . . .  . . . . . . .  
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perature limit of the third virid coefficient has been allowed to vary with the acentric factor 

of the compound. The flexibility of this correlation usvilaUy results in a better agreement 

with reported experimental data in the high temperature. 

The Goodwin Correlation for the Third Virial Coeffiicient of Pure Hydrogen: 

As we discussed before, the Goodwin correlation for the third virial coefficient [32] 

of hydrogen can be written by following equation. 

(3.24) 
! 

where 

X = T O  To = 20.615 a K 
a 

C = 2.1486' = 1310.5; (crn3 gmole-*)2 
- .  

Extension Correlation to Gas Mixtures: - 
The correlation for the third virial coefficient presented in this work may be ex- 

- .. 

tended to mixtures using exactly the same method proposed by Chuech and Prausnitz [14] 

and used by De Santis and Grande 1141. 

The third virial coefficient of a mixture is given by the following rigorous 

expression 

(3.25) 

where Chuech and F'rausnitz [20] have proposed to evaluate Cijk as 

1/3 
Cijk = (CijCikCjk) (3.26) 
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and terms of form Cij are obtained with Eqn (3.21) Using the Equations from (3.15) to 

(3.20) for the values of T,, P,, and O. 

Recall, for the hydrogen - hydrocarbon binary system, the second and third virial 

(3.27) 

and 

We use a volume - explicit forrn, truncated after the third virial coefficient to ex- 

press the virial equation of state. It is more suitable for this work, since it requires a smaller 

number of terms and its coefficients have theoretical significance. 
a 

a 

(3.29) 

we rearranged Equation (3.29) and get 

By using experimental VLE data and suitable correlations for the second and third 

virial coefficients we discussed before, the specific density p may be obtained with the 

above cubic equation. I 
Once p, &I, B12, B22, CUI, C222, C112, CIZ and 2- =e computed, $1 and $2 may 

be determined from Equation (3.8) and (3.9) and used in Equation (3.3) and (3.4) to obtain 

flG and f2G. 

. . . . . . . . . . . . .  - . . . . . . . 
. .  - . . . ”  .. . .  . .  .___ ~ . . . . . - .  
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In the following description of the themodynanlic background for hydrogen solu- 

bility calculations, we focus on expression for the liquid phase fugacity. The detailed 

procedures will be discussed in following section. 

3.3.2 Liquid Phase Fugacity 

The liquid phase fugacity is a function of tempcrature, pressure and composition, 

and can be calculated by means of an activity coefficient approach. It may be written as: 

(3.31) 

(3.32) 

The W A C  group-contribution method has for a number of years been applied to 

predict acfivity coefficients for nonelectrolytic liquid nnixtures. The method has thereby 

become a fast and reliable tool for the prediction of VLE (vapor - liquid - equilib&) data 

[27] for systems for which . little or on experimental information is available. 

. _ . .  ... . ,  

. .._ .. 
. .  

. .  . .  . . . . . . . 

The fundamental equations for calculation of GLE (gas - liquid - equilibria) are the 

same as for VLE, and hence it should also possible to predict the solubility of a gas in a 

solvent or solvent mixture by means of the UNIFAC method. The problem is the reference 

fugacity f: in eq. (3.31) and (3.32). For every component i, f: is the fugacity of pure liquid 

i at system temperature and pressure; Le., the arbitrarily chosen pressure is the total pres- 

sure P, and the arbitrarily chosen composition is xi=l. Frequently, this standard-state fu- 

gacity refers to a hypothetical state, since it may happen that component i can not phys- 

ically exist as pure liquid at system temperature and pressure. Fortunately, for hydrocar- 

bon solven& since liquid phase properties remote from the critical region are not sensitive 

to pressure, it is possible to calculate this standard-state fugacity from experimental data 

and then extrapolated into the hypothetical liquid region. If the difference between T and 

c - 
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Tci is great, such an extrapolation will be most uncertain. For the gaseous component, such 

as hydrogen, the value of f: represents a property of a hypothetical pure liquid whenever 

T is greater than the critical temperature Tci for the gas. 

Following Mathias and O’Connell[60], the problem may be changed into one of 

estimating a Henry’s constant for a reference solvent. In  general, for a gas (2) dissolved in 

a solvent or solvent mixture S, 

(3.33) 

In this equation, H2, is Henry’s constant as defined in eq. (2.8)’ and YZ, is the activity 

coefficient at infinite dilution in the symmetric convention. 
a 

a c 

For a reference solvent, siinilarly, 
- 

Introduction of eq.(3.34) into the eq. (3.32) leads to 

fiL = x 2 .  H2,r Y 2 / Y S  

(3.34) 

(3.35) 

I 

The activity coefficients y1’ y2, yaw are calculated from the modified W A C  

which will be discussed later. The reference Henry’s constants H2, was calculated as a 

function of temperature from the suitable relation which has been developed and is dis- 

cussed below. 

. . . . -. 
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3.3.2.1 Correlation for HG r 

In choosing a reference solvent for a given gas it is crucial to find a solvent for 

which reliable experimental solubility data for the gas are available. The data should cover 

as broad a temperature range as possible. 

In this work, four hydrocarbon solvents have been chosen as a reference solvent 

because of the data availability and the types of systems that we plan to apply to the cor- 

relation to . n-Hexane has been used as a reference solvent for the hydrocarbon solvents 

containing 2 to 6 carbon atoms; n-decane has been used for the solvents containing 7 to 12 

carbon atoms; and for the hydrocarbon solvents which contain more than 12 carbon atoms, 

we chose n-hexadecane as a reference solvent. For propane - cyclohexane binary system, 

since the system temperature is greater than the critical temperature of propane,.we chose - 
cyclohexane as a reference solvent to ob& the reference henry’s constant of propane. 

Each gas solubility data in reference hydrocarbon solvent were compiled as 

isotherms. The reference Henry’s constant HZ r is calculated as a function of temperature 

from the following relation which has been found appropriate for this work. 

B 
T lr~H2,~ = A+-+lClnT (3.36) 

A, B, C are estimated from experimental solubility data for components 2 (gas) in the 

reference solvent by means of the equation, 

For the estimation of Ha, : (and hence A, B, C),, it is thus assumed that y2Jybw=1. 

H;, would be equal to Hz, r) in the limit as x2, r tends to zero. f2G in equation (3.37) was 

computed using the virial equation of state discussed before and experimental data. Hz 

was plotted against xzr at isotherms. The plots are shown in figure 3.1 to 3.4. In each case, 

the curve was extrapolated to x2=0 to obtain Hzs as the intercept on y-axis. 
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Furthermore, a correlation for Hs, was obtained as a function of temperature by 

using least square regression. 

Table 3.1 presents the chosen reference solvents for hydrogen and propane and the 

estimated parameters A, B and C for calculating the reference Henry's constants. Very 

good fit was obtained with errors of less that 0.1%. This expression for Hz, is now ready 

to be used in solubility calculations. 

3.3.2.2 Correlation for f: 

To calculate the fugacity of a pure hydrocarbon solvent at a specified temperature 

and pressure, we required two primary thermodynamic properties: the saturation (vapor) 

pressure, which depends only on temperature, and the liquid density, which depends pri- 

m d y  on temperature and to a lesser extent on pressure. 
a - 

The fugacity of pure liqaid i at temperature T and pressure P is given by 

where PT, 1 is the vapor pressure and may be calculated by the Pitzer expansion [74] as 

following. 

(3.39) 

where PTs= PflC, and in this work the function r"' and r"' have been expressed by Lee 

and Kesler [54]. 



. 4 0  

6.09648 
Tr 

f(O) = 5.92714 - - 1.28862 lU(Tr) + 0.169347T; (3.40) 

15.6875 
f(') = 15.2518- - 13.4721 h(Tr) + 0.43577Tf (3.41) 

T r  

The fugacity coefficient 41' (superscript s stands for saturation ) is calculated from 

virial equation. 

(3.42) 

where B11 can be calculated from Eq. (3.11), (3.12) and (3.13), and PI' can be obtained 
a 

from Eq. (3.39), (3.40), (3.41). ... 
a 

1 The molar liquid volume V: is the ratio of the molecular weight to the density 

where the latter is expressed in units of mass per unit volume. The exponential term in Eq. 

(3.38) called the Poynting factor which can be calculated by HBT technique. 

Hankinson - Brobst - Thomson (HBT) Technique: 

Hankinson and Thomson [36] present the following correlation for saturated den- 

sities of liquids. 

(3.43) 

1/3 vho) = 1 4- a(1- TI-) + b(1- Tr)2'3 + c(1 - TT) + d(1- Tr)4/3 (3144) 

Vh1) = [e + f 4 TI- + g T? + h T']/(T,. - 1.00001) (3.45) 

I 

In above equations, T, should be large than 0.25 and less than 1.0, and values of constants 

in above equations are listed in Table 3.2. 
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V* is a pure component characteristic volume generally within 1 to 4 percent of the 

is the acentric factor which forces the Soave equation to give a best critical volume; 

fit of existing vapor pressure data. Values of V* and ~ R K  for the compounds presenting 

in this work are listed in Table 3.3. 

If no data are available for a compound, OS= should be replaced by the true acen- 

tric factor, V* may be replaced by the true critical volume. The resulting error will often 

be less than 1 percent but can be as high a 4 percent. 

More recently, Thomson et al[97] have extended the HBT method to allow pre- 

diction of compressed liquid volumes by generalizing the constants in the Tait equation. 

Thus 

(3.46) 

V,, the saturated liquid volume at the vapor pressure P,, should be obtained from 

Eq.(3.43), p and C are obtained from 

. P/Pc =-1 + a ( l  -Tr) 1/3 + b ( l  -Tr)2 /3+d( l  -Tr)  +e(l  -T,.)4/3(3.47) 

where 

and 

(3.48) 

(3.49) 

The constants a through k for eq. (3.47) to (3.49) are given in Table 3.4. By using 

- -  .-. . . 

Eq. (3.38) to (3.49), we can obtain the pure fugacity of hydrocarbon (f:) as a liquid phase. 
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3.33 Modified UNIFAC Method 

The fundamental idea of a solution - of - groups is to utilize existing phase equilib- 

rium data for predicting equilibria of system for which no experimental data are available. 

In concept, the W A C  method follows the ASOG (the analytical solution of 

groups) method, where in activity coefficients in mixtures are related to interactions be- 

tween structural groups. The essential features are: 

1. Suitable reduction of experimentally obtained activity coefficient data to yield param- 

eters characterizing interactions between pairs of structural groups in non-electrolyte 

systems. 

2. Use of those parameters to predict activity coefficients for other systems which have not 

been studied experimentally but which contain the same functional groups. 
- 
1 

- 
The molecular activity coefficient is scjparated into two parts: one pair provides the 

contribution due to differences in molecular size, and the other provides the contribution 

due to molecular interactions. In this work, we use modified UNIFAC model for predict: 

ing activity coefficients which is based on the well-known UNFAC model. Two changes 

are introduced in the modified UNIFAC : (1) the group - interaction parameters have been 

made temperature-dependent and (2) the combinational term is slightly modified. It is 

shown that modified UNIFAC gives somewhat better predictions of vapor liquid equilibria 

than does UNIFAC, hence, modified W A C  has a better built-in temperature depen- 

dence than UNIFAC. 

For hydrogen (2) dissolved in hydrocarbon solvents, the activity coefficient of 

component i may be expressed as 
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where the combinatorial activity coefficients expression used in modified W A C  is 

with modified volume fractions following Kikic et al[48] 

(3.51) 

(3.52) 

where xi is the mole fraction of component i in liquid phase 

The residual contribution term is given by 

.I 

(3.53) 

where l)ki is the number of groups of type k in molecule i, r k  is the activity coefficient of 

group k at mixture composition, and I'i is the activity coefficient of group k at a group 

composition corresponding to pure component i. r k  and rki  are given by: 

In modified UNIFAC 



k 

L1 

t 
(3.55) 

(3.56) 
- 
i 

(3.57) 

The total number of group (k) in the mixture is nk. The structural parmeters, such as 

group volume (Rk) and surface-area (Qd required in the modified UNIFAC method have 

* been values from Gmehling et al[31]. Table 3.5 shows the R k  and Qk values applied. It 

should be noted that the quantity (Z/2)Q in Table 3.5 for all practical purposes is com- 
4 

pletely equivalent to the quantity Q in the original UNIFAC model. a 

a 

Th; estimation of temperature-dependent group-interaction parameters (a& are 

described as follows. 

3.3.4 Estimation of Modified UNIFAC Group-Interaction Parameters 

The UNIFAC parameter tables published to da.te ( e.g., [31] ) do not contain pa- 

rameters for the interaction between hydrogen molecules and hydrocarbon solvent groups 

at high temperature and pressure. It has therefore been necessary to estimate such 

parameters. 

For the estimation of group-interaction parameters, the VLE data bank for 

hydrogen-hydrocarbon binary systems at high temperatures and pressures has been 

established. Table 3.6 shows the summary of experimental data sources for estimation of 

UNIFAC group-interaction parameters. The objective function, which is minimized by the 

parameter estimation program, is a sum of squared deviations between experimental and 

, 
! 
1 

c 

- 
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calculated properties. The properties included in this sum of squares (SSQ are the directly 

measured data; i.e., for hydrogen - hydrocarbon binary VLE data it is the temperature 0, 
the pressure (P), the liquid mole fraction of hydrogen (x2), and the vapor mole-fraction of 

hydrogen 0 2 ) .  The mole fraction of hydrocarbon solvent is not included, as they are ob- 

tained directly fiom the mole fraction of hydrogen. The following objective function has 

been minimized for the estimation of UMFAC interaction parameters between hydrogen 

and hydrocarbon solvent groups. 

n 
where n is the number of data points and subscripts exp and clc indicate the experimental 

data and the calculated VLE values, respectively. 
a 

Recalling, for hydrogen dissolved h a hydrocarbon solvent, the gas-liquid equilib- - - 
num may be represented by 

(3.59) 

(3.60) 

where 41, $2, fl'and H% can be calculated from experimental VLE data by using suitable 

coirelations discussed before, yl,y2 and y2, rw may be obtained from the modified UNIFAC 

method. Therefore, the values of PdC and yCh in Eq. (3.58) can be calculated by means of 

the technique for bubble point calculations and used in above objective function to estimate 

the group-interaction parameters. In this work, two expressions have been suggested to 

describe the temperature dependent of the group-interaction parameters, the first sugges- 

tion is cubic expression and the further suggestion is Wagner's expression. 

. . .  ~ _ . C _ _ _ . . _ . _ . . . .  _._.-. . . . .  .,. - . . ... . .. . .  - -  . . . , , . . . . . .  . . . ... ~. 
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For cubic expression, four coefficients are used. to describe the temperature depen- 

dence of the interaction parameters given by 

(3.61) 
2 

aji = aji,i + aji,z(T - TO) + aji,3(T - TO) + ajip(T - 
where TO is an arbitrary reference temperature, here 298.15 K. 

The temperature dependence shown in Eq. (3.61) was chosen from considering ai 

as related to the excess enthalpy of the mixture. It many give the better results for excess 

enthalpy prediction. 

The Wagner’s expression for temperature-dependent group-interaction parameters 

is 

aji = TO ( a j q  * X + aji,2 * X1: + aji,3 * X 3  + aji,4 X6) (3.62) 
a 

c) 

. where To = 750 O K ;  X = (l-T/To). - 

The expression shown in Eq. (3.62) was chosen from considering aji as related to 

vapor pressure. It has been generalized by a number of researchers that Wagner’s equation 

is one of the most accurate forrns to represent vapor pressure data and may provide the best 

method for vapor pressure computation. 

It is possible to use the objective function showing above to obtain the binary group 

interaction parameters required in the modified UNII?AC correlation by regression as 

function of temperatures using experimental solubility data over a wide range of tempera- 

ture and pressure. Two expressions of temperature-dependent group interaction parame- 

ters are used respectively. Up to eight coefficients of each expression shown in Eq. (3.60) 

and (3.61) can totally be determined for the two temperature-dependent interaction pa- 

rameters (aji and aij) characterizing a binary group combination. As a consequence, it is 

necessary to establish the values for interaction parameters between hydrogen molecules 

,- 

i-. 

4 

i 

. _. . .  . . L  . - . . ..__ ., . - . .  . .  
. .  . .  
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and p a r a f f ~ c  CH3 group before any other parameters can be determined. Then the pa- 

rameters between hydrogen and benzene, hydrogen and naphthenic CH2, cyc, and 

naphthenic CHx cyc and benzene have been simultaneously determined on the basis of ex- 

perimental data including these groups. At last, the interaction parameters between 

paraffinic CH3 and naphthenic CH2, cyc, and paraffinic CH3 and benzene are determined 

respectively (see Table 3.6). The results of this work are reported below. 

3.4 RESULTS 

The database for the UNIFAC parameter between hydrogen molecule and hydro- 

carbon solvent groups estimations consist of - 1230 high-temperature high-pressure GLE 

data points. The results of an error analysis using the present model as compared to ex- 

perimental values from the literature are expressed by the absolute avcGge- deviation 

(M) in all cases defined as: . 

a 

- - - 

x 100 (3.63) 1 1 (calculated - experimenta1)I 
experimental AAD(%) = NC 

i 

where N is the number of experimental points and i denotes the data point. 

In Table 3.7 and Table 3.8, the estimated binary interaction parameters using the 

cubic expression and Wagner’s expression as functions of temperature between hydrogen 

and hydrocarbon subgroups are presented, respectively. The two expressions for UNIFAC 

group interaction parameters as functions of temperature are shown in figure 3.5 For the 

interaction parameters between hydrogen molecule and hydrocarbon solvent groups are 

estimated from experimental hydrogen solubility in pure hydrocarbon solvents. The other 

interaction parameters between hydrocarbon solvent groups, themselves have been esti- 

mated from experimental VLE data of hydrocarbon binary systems. 
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Table 3.9 and Table 3.10 present the temperature range for the experimental solu- 

Vity ’data used for parameter estimation using cubic expression and Wagner’s expression 

for group-interaction parameters. In general, application of the UMFAC equation outside 

the temperature range of the solubility data used to obtain the group interaction parameters 

is not recommended. 

Table 3.11 and Table 3.12 show the deviations between the experimental and cal- 

culated VLE data for hydrogen - hydrocarbon binary systems which are used to regress the 

interaction parameters by using the cubic expression and Wagner’s expression as functions 

of temperature. 

The accuracy of the proposed method is illustrated in figure 3.6-3.7. Figure 3.6 

shows experimental and calculated solubilities as a function of temperature for hydrogen 

& n-decane, cyclohexane and in benzene. Figure 3.7 shows experimental and calculated 

solubilities for hydrogen in the homologous series of n-parains and n-aromatics at 470’K 

for a partial of the gas of 50 atm. It can be found from the Figure 3.7 that for the same 

- 

- 

molecule size of paraffins and aromatics, the solubility of hydrogen in paraffins is consid- 

erably more than that in aromatics at the same conditions of temperature and pressure. 

Because of the deficiency of the experimental solubility data, we can not show the same 

curve for hydrogen in naphthenes in Figure 3.7. In genlerally, the solubility of hydrogen in 

naphthenes will lie some place between that in paraffins and aromatics. The experimental 

data show us that the hydrogen solubility in cyclohexane is more than that in benzene and 

less than that in n-hexane. 

Table 3.13 and Table 3.14 present a comparison of Chao-Seader correlation and its 

modification with the Grayson-Streed new coefficients; with our method which use Wag- 

ner’s expression for interaction parameters with experimental VLE data for hydrogen in 

various binary and ternary solutions. 1 refers to our method and 2 refers to Chao-Seader 
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correlation and its modification. Included in the Tables are the temperature and pressure 

range, the number of experimental data points, experimental data sources, and the absolute 

average deviation of the predicted from the experimental VLE data for two methods. 

The AAD values in Table 3.13 and Table 3.14 indicate that alT of the correlations 

predict hydrogen solubility in hydrocarbon solvents quite well for almost a l l  the systems 

tested. The overall error for our method is smaller (13 %) than that of Chao-Seader cor- 

relation (17 %) and its modification with the Grayson-Streed new coefficients(l5 %). On 

the other hand, our method does not need specific information concerning the system in 

question, i.e., solubility paxameters and liquid mole volume required by Chao-Seader cor- 

relation, but only certain information concerning the behavior of the constituent parts of 

the molecules, i.e., the groups they contain. Therefore, the new model we developed here 
a 

provides us a much easier andamore valuable way to cover a variety of solvents including 

undefined compounds such aspetroleum fractions using only a few group parameters than 
- 

* 

any other correlations. The values of the coefficients for the correlation of pure-liquid 

fugacity coefficients uaed by Chao-Seader correlation and its modification with the 

Grayson-Streed new coefficients are given in Table 3.15. 

It has been shown that this model which has been developed here can be applied to 

predict the solubility of hydrogen in pure hydrocarbon solvents for the temperatures up to 

620 K and pressures up to 680 atmosphere and provide a more generalized method for 

accurate description of phase equilibria in both liquid and vapor phase than any other 

available model. Two expressions of interaction parameters as functions of temperature 

presented above yield the errors which are equally well and in most cases, the errors are 

small enough to meet the requirements in the prediction of hydrogen solubilities in hydro- 

carbon solvents at high temperatures and pressures. Of these two expressions for 

gioup-interaction parameters, Wagner’s expression seems much more attractive to be ex- 

___. 
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tended to petroleum fractions. As we know, petroleum crude oil are mixtures of different 

hydrocarbons from different homologous groups and Cim be divided into several cuts de- 

pending upon the mid-boiling points. Because of the limitation of experimental VLE data, 

for prediction the hydrogen solubility in petroleum fractions at the conditions of hy- 

drocracking reaction, inevitably, we have to extrapolated the interaction parameters to 

much higher temperatures, which exceed the temperature range of experimental hydrogen 

solubility data in pure hydrocarbon solvents. In this case, as shown in figure 3.5, Wagner’s 

expression may provide much better results, since it provides a better temperature- 

dependent expression at high temperature in which the change of temperature has less in- 

fluence on the group-interaction parameters. The detailed procedures for extending the 

model to prediction of hydrogen solubility in petroleum fractions will be discussed in 

chapter IV. . 

. .  . - - -  ~. . . .  - . . . -  . . - .  .._ .. . .. - -. . , . . _ .  - 
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Fig. 3.1 Experimental HQ' (Eq. 337) as a function of liquid mole fraction of hydro- 
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Fig. 3.3. Experimental Hqr) (Eq. 3.37) as a function of liquid mole fraction of hydro- 
gen at isotherms for hydrogen in the n-hexadecane reference solvent. 
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'0 

. Fig. 3.6 Experimental and Calculated Solubilities of Hydrogen in n-Decane, Cyclo- 
hexane, and Benzene at 102 atm Partial Pressure as  a Function of Temperature 
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Table 3.1 

Constants for CalcuIation of Reference Henry’s Constant 
According to In (HG Jatm)= A .t BPT + C InT 

Gas A B (2 Reference 
Solvents 

H2 30.841476 -8 14.371094 -3.70966 1 n-hexane 
H2 5.5823 15 13 12.302490 -0.365635 n-decane 
H2 67.537529 -3440.44287 1 -8.743 1 19 n-hexadecane 
C2H6 6.596310 -1190.588501 0.204263 cyclohexane 
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Table 3.2 

Constants for Eqn (3.44) to (3.45) 

'a 

e 
f 

C 

-1.528 16 
-0.8 1 4 6  
-0.296123 
-0.0427258 

~ 

1.43907 
0.190454 
0.386914 
-0.0480645 
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Table 3.3 

Pure Component Parameters for the Hankinson - Brobst - Thomson Correlation 

Paraffins OSRK - -  v*, LIrnol 

Ethane 
Propane 
n-Butane 
Isobutane 
n-Pentane 
Isopentane 
n-Hexane 
2-Methylpentane 
n-Heptane 
3-Ethylpentane - 
2,2,4-Trimethylpentane * 
n-Octane 
4-Methylheptane 
3,4-Dimethylhexane 
2,3-Dimethylheptane 
n-Decane 
n-Dodecane 
n-Tetradecane 
n-Hexadecane 

0.0983 
0.2532 
0.2008 
0.1825 
0.2522 
0.2400 
0.3007 
0.279 1 
0.3507 
0.3118 
0.31&4 
0.3998 
0.3708 
0.3376 
0.3848 
0.49 16 

0.6821 
0.7667 

0.5807 , 

0.1458 
0.2001 
0.2544 
0.2568 
0.31 13 
0.3096 
0.3682 
0.3677 
0.4304 
0.4163 
0.4689 
0.4904 
0.4841 
0.4722 
0.5383 
0.6192 
0.7558 
0.9022 
1.0539 

~ 

Cycloparaffins 

Cy clopentane 0.1969 
Methylc y clopentane 0.2322 
Cyclohexane 0.2128 
Meth ylc yclohexane 0.237 1 

0.2600 
0.3181 
0.3090 
0.3709 

Aromatics 

Benzene 
’ Toluene 

m-X ylene 

0.2137 
0.265 1 
0.3270 . 

0.2564 
0.3 137 
0.3731 
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Table 3.3 (continued) 

Ethylbenzene 0.3048 0.3702 
Cumene 0.3277 0.427 1 
Naphthalene 0.3000 0.3834 
1-Methylnaphthalene 0.3422 0.4504 
2-Methylnaphthalene 0.3669 0.4591 
Tetralin 0.3209 0.4304 
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Table 3.4 

Constants for Eqn. (3.47) to (3.49) 
~~ 

a -9.070217 b 62.45326 
d -135.1 102 f 4.79594 
g 0.250047 h 1.14188 
j 0.0861488 k 0.0344483 



Table 3.5 

W A C  Group Volume and Surface-Area Parameters for Hydrogen 
Solubility Calculations 

. . .  

63 . 

Main Group Subgroup Structural Parameters 
no name no name R W2)Q 

~ 

Allcane 1 "CHC 1 CH3 0.9011 0.848 
2 CH2 0.6744 0.540 
3 cyclicCH2 0.6744 0.540 
4 CH 0.4469 0.228 
5 c  0.2195 0.000 

a Benzene 2 . ''C6HC 6 c6H6 3.1878 2.400 a 

7 GjHs 3.0217 2.120 
8 C6H4 2.8556 1.840 
9 GH3 2.6895 1.560 

Naphthalene 3 "C1oHg" 10 ClOHS 4.9808 3.440 
11 C10H7 4.8147 3.160 
12 ClOH6 4.6486 2.880 

Triaromatic 4 ''C14Hg'' 13 c14H10 6.7738 4.480 
14 C14H9 6.6077 4.200 
15 ' C14H8 6.4-416 3.920 

Hydrogen 5 "H2" 16 H 2  0.4160 0.571 
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Table 3.6 L 

Summary of VLE Data Source for Regression of UNIFAC Group- Interaction 
Parameters c 

~- 

UNIFAC System Temperature Pressure Data Source 
Group K atm 

H2 - CH3 Hydrogen - 223-298 34-204 1341 
_ -  Propane 

3 10-366 34-204 Hydrogen - 
i-Butane 

Hydrogen - 
n-B utane 

327-378 30-166 

Hydrogen- - 
n-Hexane 

277-477 34-680 

Hydrogen - 
n-Octane 

463-553 6.8-136 1151 

12-345 1191 Hydrogen - 3 10-423 
2,2,4-TrimetyIpentane 

462-583 19-25 1 Hydrogen - 
n-Decane 

462-622 20-200 Hydrogen - 
n-Hexadecane 

H2 - Benzene 

CH2, - Benzene 
H2 - CHz cyc 

Hydrogen - 
Benzene 

433-523 13-204 

Hydrogen - 
Cyclohexane 

3 10-4 10 34-6 12 1681 
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Table 3.6 (continued) 

Hydrogen - 463-622 20-250 1901 
Tetralin 

Benzene - 
Cyclohexane 

298-343 0.13-0.8 

Benzene - 
Cyclopentane 

323-350 1-00 c91 

Cyclohexane 
Ethane 

283-505 6.8-68 c461 

Cyclohexane 
n-Hexane 

308 0.2-Q.3 c51 

Cyclohexane 
n-Heptane 

313-370 0.13-1.0 

0.1-1.0 Cyclohexane 308-373 
Me th ylc yclo hexane 

Cyclohexane 
n-Octane 

308 0.06-0.18 1571 

Cyclohexane 308-348 
2,2,4-Thethylpente 

0.1 1-0.82 

Cyclohexane 
3,4-Dimethylhexane 

308 0.07-0.19 c571 

Cyclohexane 
4-Meth ylheptane 

308-373 0.1-1.00 W I  
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Table 3.6 (continued) 

Benzene - CH3 Hydrogen - 
Toluene 

Hydrogen - 
m-Xylene 

Benzene - 
Propane 

Benzene - 
Toluene 

Benzene - 
n-Heptane 

CI 

Benzene - 
m-X ylene 

Benzene - 
Ethylbenzene 

462-575 

462-580 

3 10-344 

343-393 

383-488 

298-323 

354-393 

20-27 1 

20-25 1 

1 -4-23.8 

0.54-2.8 

1.6- 16.8 
A 

a 

0.04-0.3 

1.00 
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Table 3.7 

UNIFAC Binary Interaction Parameters a(ij, n)' Using Cubic Expression for Hydro- 
gen - Hydrocarbon Systems 

Group H2 CH3 -CH2- Benzene 
Name 

H2 0.0 

154.4521 
53.0974 

-0.5580 EN0 
0.9079 E-03 - 

-CH2 - -123.9720 
. 33.3412 
-0.3578 E+OO 
0.4623 E-03 

Benzene 1190.3585 
2.037 

-0.9902 E-01 
-0.4841 E-04 

-364.9760 
-14.4821 

0.1625 E40 
-0.3694 E-03 

0.0 

a 

a 

115.5466 
1.0772 

0.4230 E-02 
0.7813 E-04 

360.3341 

0.5887 E +00 
-23.9494 

-0.33 14 E-02 

-59.2080 
-14.8597 

0.6784 E-01 
0.9553 E-03 

-24.3436 
-1.2244 

-0.2295 E-03 
-0.3584 E-04 

0.0 

-322.2550 
2.0030 

0.4000 EN0 
0.5626 E-02 

1012.0922 
-2.6972 

-0.49 19 E-0 1 
0.1224 E-03 

-37.6387 
4.3628 

-0.1100 4 

0.2777 E-03 * 

849.9684 
4.3030 

-0.1318 E+OO 
-0.4833 E-03 

0.0 

*-i, j 
n=1,2,3,4 as in equation (3.61) 

Correspond to group i and group j and four numbers in each entry correspond to 



. 68 * 

Table 3.8 

W A C  Binary Xnteraction Parameters a(ij, n)*Using Wagner's 

.< 

Expression for Hydrogen-Hydrocarbon systems 
__ 

Group H2 . CH3 -CH2- Benzene 
Name 

H2 

Benzene 

0.0 0.325 1 

5.1891 
3.4035 

-5.0133 

-5.0483 0.0 
13.0097 
0.2735 

128.4965 

15.1 i4.4 
-19.2729 
-25.437 1 
137.9856 

4.3920 

42.8989 
- 1 6.604 1 

- 157.6755 

3.1854 
0.00 1 1 
-9.1881 . 
10.4907 

- 1.1572 
-3.47 16 
12.3204 
-0.6128 

7.2136 
-4.2569 

26.3902 
-19.7264 

-0.8418 
-0.5119 
1.6807 
2.8823 - 
0.0 

0.0885 
-0.0247 
-0.0171 
0.0592 

19.6928 
-5.8521 

1 8 8 -27 86 
3009.1099 

' 7.2705 
-3.7508 

- 15.479 1 
12.3222' . 

0.0888 
-0.0135 
-0.0158 
-0.0202 

0.0 

- - 

* 4, j Correspond to group i and group j and four numbers in each entry correspond to 
n=l, 2,3,4 as in equation (3.62) 

t 

.- 

I 
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Table 3.9 
--Tr 

Temperature Range for the Binary Interaction Parameter Using Cubic 
Expression as a Function of Temperature 

Groups 
- 

Temperature Range (K) 

H2 - CH3 
H2 - -CH2 - 
H2 -Benzene 

. CH3 - Benzene 
-CH2- Benzene 
-CH2- CH3 

277.59 - 622.85 
310.92 - 621.75 
433.15 - 621.75 
310.94 - 582.10 
462.75 - 621.75 
283.15 - 505.37 

4 

a 
4 

a 

, 



Table 3.10 

Temperature Range for the Binary Interaction Parameters Using Wawer’s 
Expression as a Function of Temperature 

Groups Temperature Range (K) 

L 

f 

H2 - CH3 
H2 - -CH2 - 
H2 -Benzene 
CH3 - Benzene 
-CH2- Benzene 
-CH2- CH3 

277.29 - 
310.92 - 
433.15 - 
298.15 - 
298.15 - 
283.15 - 

6:22.85 
6:21.75 
6:2 1.75 
582.10 
6:21.75 
505.37 

c 
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Table 3.11 

Error Analysis for Estimating Interaction Parameters Using Cubic 
Expression as a Function of Temperature 

No. Systems No. Pts. Temperature Pressure dev P dev Y 
Range (OK) Range (atm) (%) (W 

15.4 

11.4 

16.2 

15.3 

10.6 

30.8 

4.8 

3.6 

5.5 

6.0 

1. Propane- 64 
Hydrogen 

223.15-360.93 17.01-272.7 0.4 

2.8 

5.1 

3.4 

9.1 

1.0 

3.1 

0.3 

0.4 

9.6 

n- Butane 48 
Hydrogen 

327.65-377.55 27.42-1 65.2 2. 

3. 
L) 

4. 

i-Butane 18 
Hydrogen 

310.93-366.48 34.02-204.1 

L) - 
34.02-680.5 n-Hexane 96 

Hydrogen 
277.59-477.59 

5. n-Octane 71 
Hydrogen 

463.15-553.15 6.80-136.1 

2,2,4-TrimethyI- 3 1 
pentane-H ydrogen 

310.93-423.43 11.91-363.2 6. 

7. n-Decane - 26 
Hydrogen 

462.45-583.45 19.0 1-25 1.8 

19.69-250.5 8. n-hexadecane- 29 
Hydrogen 

461.65-622.85 

TetraIin- 19 
Hydrogen 

462.75-62 1.75 20.00-250.0 9. 

Cyclohexane- 64 
Hydrogen 

3 10.92-410.93 34.02-544.37 10. 
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TabIe 3.11 (continued' 

-~ 

No. Systems No. Pts. Temperature Pressure devP devY 
Range OK) Range (atm) (%) 

- - -  
(%I 

11. 

12. 

13. 

14. 

15. 

16. 

17. 

Benzene - 
Hydrogen 

130 433.15-533.15 1.3.6 1-204.1 2.3 

1.7 

4.4 

0.9 343.15-393.15 Benzene- 
Toluene 

9 

11 

0.54-2.46 

1.00 Benzene- 
Ethylbenzene 

3 53.24-408.46 3.7 10.8 

0.9. Benzene- 
Propane 

.) 
16 310.94-344.27 1.36-23.8 2.0 

Toluene- 
Hydrogen 

47 46 1.85-575.15 2.0.0-322.7 7.6 '- 11.6 

27 5.5 M-xylene- 
Hydrogen 

462.4-582.10 1'9.6-251.0 10.2 

4.0 Cyclohexane- 
Ethane 

47 283.15-505.37 6.8-88.46 1.9 

Overall Error 9.1 
~~ 

4.73 
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Table 3.12 

Error Analysis for Estimating Interaction Parameters Using 
Wagner's Expression as a Function of Temperature 

No. Systems No. Pts. Temperature Pressure devP devY 
Range (%) Range (atm) (W (%) 

1. Propane- 64 223.15-360.93 17.0 1-272.7 12.5 1.36 
Hydrogen 

2. n-Butane 
Hydrogen 

48 327.65-377.55 27.42-165.5 16.3 2.17 

3. &Butane 
Hydrogen: 

18 310.93-366.48 
CI 

34.02-204.1 11.1 3.17 

- 
3.25 4. n-Hexane- 

Hydrogen 
96 34.02-680.5 . 17.6 277.59-477.59 

71 463.15-553.15 5. n-Octane 
Hydrogen 

6.80-136.1 11.7 12.2 

11.91-363.2 33.2 6. 2,2,4-Trimethyl- 3 1 3 10.93-423.43 
p entane-H ydro gen 

1.12 

7. n-Decane- 
Hydrogen . 

26 462.45-583.45 1 9.0 1-25 1.8 5.1 2.30 

8. n-hexadecane- 29 461.65-622.85 
Hydrogen 

19.69-250.5 5.0 0.25 

9. Tetralin-' 
Hydrogen 

19 462.75-621.75 20.0-250.0 10.6 1.13 

34.02-544.37 5.9 0.10 10. Cyclohexane- 
Hydrogen 

64 310.92-410.93 
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Table 3.12 (continusd) 

No. Systems No. Pts. Temperature Pressure devP devY 
Range CK) ]Range (atm) (%I (%I 

11. Benzene- 130 433.15-533.15 13.61-204.1 3.1 1.45 
Hydrogen 

12. Benzene- 
Cyclohexane 

57 298.15-343.15 0.13-1.0 0.48 1.64 

1 .oo 1.04 1.61 13. Cyclopentane- 19 323.15-349.85 
Benzene 

14. Benzene- 
M-Xylene 

15. Benzene- 
Propane 

34 298.15-323.15 0.04-0.31) 
a 

3.00 3.32 
a 

1.75 1.36-23.8 6.42 *' 1 16 310.93-344.26 

16. Benzene- 
Toluene 

45 343.15-393.15 0.54-2.8 1 1.45 1.07 

17. Benzene- 
Ethylbenzene 

8 354.24-393.14 1 .oo 1.38 0.42 
-- 

18. Benzene- 
Heptane 

74 383.15-488.15 1.57-16.8 5.24 9.22 

19. Toluene- 
Hydrogen 

47 46 1.85-575.15 20.0-271.4 14.2 14.4 

27 462.40-582.10 . 

308.15 

7.74 20. M-Xylene- 
Hydrogen 

19.6-251.1 23.7 

21. Cyclohexane- 17 
3,4-Dimethylpentane 

0.07-0.19 2.10 2.17 
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Table 3.12 (continued) 
~~~ 

No. Systems ‘ No. Pts. Temperature Pressure devP devY 
Range (“K) Range (atm) (%I (W 

22. Cyclohexane- 17 
4-Methylpentane 

23. Cyclohexane- 17 
n-Octane 

24. . Cyclohexane- 19 
n-Hexane 

308.15 
~ ~~ 

~~ 

0.07-0.19 2.36 2.13 

308.15 

308.15 

25. Cyclohexane- 114 308.15-31 
2,2,4;Trimethylpentane 

8. 5 

26. Cyclohexane- 38 308.15-372.55 
Meth ylc yclohexane 

27. Cyclohexane- 
n-Heptane 

28. Cyclohexane 
Ethane 

3 8 313.15-370.45 

47 283.15-505.37 

0.06-0.18 3.24 1.54 

0.20-0.30 1.81 4.21 

. 0.11-0.82 2.04 2.29: 

0.10-1.00 1.94 

0.13-1.00 0.0007 

6.80-8 8.5 6.02 

1.50 

0.003 

4.55 

Overall Error 7.62 3.53 



. Table 3.13 

Comparison of Hydrogen Solubilities in Hyldrocarbon Solvents with 
Chao- Seader Correlation and Our Method 

76 

Systems T,K P,atm No.of AM)% X2 AAD% Y1 Source 
Points :1 2 1 2 

n-Propane '(1) / 223-360 17-223 
Hydrogen (2) 

i-Butane( 1) / 310-394 34-204 
Hydrogen (2) 

n-Butane (1) / 328-394 27-165 
Hydrogen (2) 

n-Hexane (1) / 277-477 342680 
Hydrogen (2) 

n-Octane (1) / 463-553 6-136 
Hydrogen (2) 

2,2,4-Trimethyl- 3 10-423 12-363 
penme(1) / 
Hydrogen(2) 

n-Decane (1) / 462-583 19-252 
Hydrogen (2) 

n-Hexadecane (1) 462-664 20- 250 
Bydrogen(2) 

Cyclohexane (1) 310-410 34-544 
/Hydrogen (2) 

Benzene (1) / 433-533 13-204 
Hydrogen (2) 

64 

18 

48 

96 

71 

31 

26 

29 

64 

130 

10.9 5.1 

10.5 4.7 

15.2 4.9 
4 

a 

1'7.5 10.9 

17.1 12.4 

45.9 19.0 

s4.7 10.0 

- 

4.5 7.5 

6.9 19.8 [34] 

34.7 28.3 [19] 

4.8 3.3 [55] 

32.8 49.0 [69] 

. . .. 

6.0 6.1 [15] 

8.5 9.5 [19] 

14.1 19.9 [40] 

7.1 36.3 [55] 

6.3 35.9 

. 5.9 18.0 

4.9 32.3 [68] 

2.4 5.2 1151 
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Table 3.13 (continued) 

Systems T, K P,atm No.of AAD% X2 AAD% Y1 Source 
Points 1 2 1 2 

Toluene(1) / 462-575 20-272 47 15.6 19.5 17.2 19.3 [go] 
Hydrogen (2) 

m-Xylene (1) / 462-580 20-251 27 35.5 29.3 13.8 11.4 [9l] 
Hydrogen (2) 

Tetralin (1) / 462-621 20-250 19 12.8 42.6 6.6 9.5 [go] 
Hydrogen (2) 

* 
a Tetralin (1) /. 462-70 1 20-250 31 7.2 ---- 12.7(1) ---- [lo31 

Hydrogen (2) / - 3.5(3) a 

DiphenyIme&ane (3) 

TetraIin (1)/ 462-582 20-250 30 9.4 38.4 5.5(1) 12.2(1) 11031 
Hydrogen (2) / 1.5(3) 10.8(3) 
m-Xylene (3) 

Total 658 13.5 17.5 10.9 19.0 

* 1 refers to our method and 2 refers to Chao-Seader Correlation. 
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Table 3.14 

Comparison of Hydrogen Solubilities in Hydrocarlbon Solvents with Chao-Seader 
Correlation with the Grayson-Streed New Cocef'ficients and Our Method 

Systems T,K P,atm No.of M4D% X2 AAD% Y1 Source 
- Points n 2 1 2 

n-Propane (1) / 223-360 17-223 
Hydrogen (2) 

i-Butane( 1) / . 3 10-394 34-204 
Hydrogen (2) 

n-Butane (1) / 328-394 27-165 
Hydrogen (2) 

n-Hexane (1) / 277-477 34-680 
Hydrogen (2) 

5. 

s 

n-Octane (1) / 463-553 6-136 
Hydrogen (2) 

2,2,4-Trimethyl- 3 10-423 12-363 
penme(1) / 
Hydrogen(2) 

n-Decane (1) / 462-583 19-252 
Hydrogen (2) 

n-Hexadecane (1) 462-664 20- 250 
/Hydrogen(2) 

Cyclohexane (1) 310-410 34-544 
/Hydrogen (2) 

Benzene (1) / 433-533 13-204 
Hydrogen (2) 

64 

18 

48 

96 

71 

31 

26 

29 

64 

130 

. .  

101.9 6.8 

10.5 6.0 

15.2 6.4 

17.5 9.1 

17.1 26.7 

45.9 16.5 

4.7 9.4 

4..5 13.2 

6.3 33.4 

5.9 10.9 

6.9 9.5 [34] 

34.7 17.4 [19] 

6.4 3.3 [55] 

32.8 44.5 [6YJ 

6.0 6.4 [15] 

8.5 20.3 1191 

14.1 15.4 [40] 

7.1 26.2 [55] 

4.9 26.7 [68] 

2.4 5.6 1151 
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Table 3.14 (confinued) 
~- 

Systems T, K P,atm N o d  AAD% X2 AAD% Y1 Source 
Points 1 2 1 2 

Toluene(1) / 462-575 20-272 47 15.6 20.0 172 14.3 [go] 
Hydrogen (2) 

m-Xylene (1) / 462-580 20-251 27 35.5 16.5 13.8 7.5 [91] 
Hydrogen (2) 

Tetralin (1) / 462-62 1 20-250 19 12.8 19.0 6.6 10.2 1901 
Hydrogen (2) 

Tetralin (I) / . 462-701 20-250 31 4 7.2 ---- 12.7(1) ---- 11031 
Hydrogen (2) / a 3 3 3 )  
Diphenylmethane (3) 

Tetralin (1) / 462-582 20-250 30 9.4 18.1 5.5(1) 5.8(1) 11031 
Hydrogen (2) / 1.5(3) 7.3(3) 
m-Xylene (3) 

Total 658 13.5 15.4 10.9 16.4 

* 1 refers to our method, and 2 refers to Chao-Seader Correlation with the Grayson-Streed 
numerical values of the coefficients. 
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Table 3.15 1 

Coefficients in Chao-Seader Correlation and iin its Modification with the 
Grayson-S treed New Coefficients 

- 8 

I 
E 

- 
Simple Fluid Hydrogen 
1 2 1 2 

A0 5.75748 2.05135 1.96718 1.50709 
AI -3.01761 -2.10899 1 AI2972 2.74283 

A3 2.02299 -0.19396 0.0005288 0.00011 

As 0.08427 0.08852 0.008585 0.008585 

A2 -4.98500 0 -0.054009 -0.021 10 

A 4 0  0.02282 0 0 - 

A6 0.26667 0 0 0 
A7 -0.31138 -0.00872 0 - 0  

Ag 0.02883 0.00203 0 - 0  -, 

- 

- As -0.02655 -0.00353 - 0 - 0  

I 
I 

* 1 refers to Chao-Seader Correlation; 2 refers to Chao-Seader Correlation with the 
Grayson-Streed numerical d u e s  of the coefficients. 
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CHAPTER IV 

EXTENSION OF THE MODEL TO PETROLEUM FRACTIONS 

Hydrogen solubility is a major factor in the design of crude oil hydrocracking 

process. In most current hydrocracking process, hydrogenation reactions take place to in- 

crease the hydrogen - to - carbon ratio of the fuel. Thus, reliable estimates of hydrogen 

solubility in petroleum fractions are necessary. As we discussed in chapter III, the UNI- 

FAC group' contribution method can be used for predicting hydrogen solubility i n  
a 

hydrocarbons at advanced temperatures and pressures with activity coefficient - 
calculations. It was concluded that good results for hydrogen solubilhy predictions in- 

cluding a successful description of the temperature dependency of reference Henry's Law 

constant and W A C  group interaction parameters were obtained with a typical accuracy 

of k 13 %. 

Previous papers have provided some methods for prediction hydrogen solubility 

in coal derived liquids and crude oil cuts at low temperatures (300-473 K) and at atmo- 

spheric pressure which discussed in chapter II. In order to apply the UNIFAC model for 

the prediction of hydrogen solubility, the functional groups present in each cut have to be 

identified fist, then the interaction parameters between these groups and hydrogen can be 

used later for solubility predictions. Although there are some interaction parameters that 

were obtained by Hartounian and Alien [36] between hydrogen and some main groups at 

low temperatures and pressures, new interaction parameters were predicted in chapter lII 

as a function of temperature and are used to apply the modified UNIFAC method for sol- 

ubility predictions at high temperatures and pressuies. 
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For light crude oil cuts such as naphtha (423-473 K), analytical approach could be 

used to determine functional group concentrations [61]. In the case of heavy cuts, analyt- 

ical techniques are significantly more difficult and their analysis to individual components 

is almost impossible. In this work, attempts will be made to describe the complex petr 

leum fractions in terms of model compounds based on Fluzicka’s method [Sa. 

4.1 Prediction of Functional Group in Petroleum Cuts 

Petroleum fractions are complex mixtures of mainly paraffins, naphthenes, and ar- 

omatic compounds. For oil fractions of molecular weight higher than about 100, it is 

unpractical to list all of the compounds present. hence, one of the major problems in phase 

: equilibrium calculations involving is the representation of the many different hydrocarbons 
a 

I in terms of few properly average;characteristic parameters. When the pseudo-compound 

method is used for prediction of hydrogen solubility in undefined petroleum fractions, 

knowledge of the paraffins, naphthenes and aromatics (PNA) content of each fraction is 

required. If the experimental values of PNA content of each fraction are not available other 

properties could be used for their prediction. Riazi and Daubert 1821 developed a set of 

correlations for molecular-type analysis which required density, refractive index and vis- 

cosity measurements. The fractions were divided into light and heavy molar mass range. -_ 

A few methods of characterizing heavy petroleum fractions are available in the 

literatures. The method suggested by Ruzicka et al[85] is based on the UNIFAC group- 

contribution model for predicting vapor-liquid equilibria [26] and pure-component vapor 

pressures [MI. It requires a complete TBP-analysis (boiling point temperature vs. liquid 

volume percent boil-off), a PNA analysis preferably :€or each subfraction, and density, 

preferably for each subfraction. In contrast to real components, the model compounds may 

be described by non-integer value of vki, which is defined as the number of UNIFAC 
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group k in mol cule i. The UNIFAC group compositi of each pseudo-component are 

expressed by functions of a parameter n by satisfying two conditions: (1) the Equation (4.1) 

expressed as follows should be satisfied. 

3 xxi.yi.pp = 1 
i 

assuming that the operating pressure is one atmosphere, where Xi is the mole fraction of 

paraffins, naphthenes, or aromatics, i.e. (PNA). 'yi is the activity coefficient calculated by 

UMFAC, and Po is the pure component vapor pressure calculated also by W A C  [a]. 
(2) The pure-component vapor pressure of the three pseudo-components for a given sub- 

fraction should be closed together so that their boiling points are equal to the mid-boiling 

point of the subfraction at atmospheric pressure. The functional forms for UNIFAC group 

compositions are altered until the above two conditions are satisfied as closely as possible. 

Thus, each fraction is represented by three pseudo-components each of which consists of 

UNIFAC groups given by expressions of a quantity n which has a unique value as deter- 

mined by satisfying the two conditions stated above. 

Fahim and Elkilani [24] use exactly the same method as Ruzicka 1853, and they 

furthermore check the model by requiring that the critical properties (T,, P,, V,), acentric 

factors and molar mass predicted using a group contribution method [56] from the pro- 

. 

posed model structure agree with those calculated from experimental mid-boiling point 

and specific gravity using the correlation of Riazi and Daubert 1821. 

These two methods discussed above have a common weakness. They use different 

group model for each crude oil cut and arbitrarily try the group assignment for obtaining 

the structure of model components in each cut. .NaturaIly it is too cumbersome to assign 

the groups "by hand' for each oil mixture. 
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The new method for evaluation of functional gmups in model compounds devel- 

oped in this work followed the procedures suggested by Ruzicka et al [Ss] except for the 

way of group assignments for model compounds and the pure component vapor pressure 

calculations. It entails the following steps (1) division of the TBP curve into a number of 

subfractions; (2) defintion of model compounds for each subfraction in terms of W A C  

group such as CH3-, CH2, cyc- and aromatic group; (3) %using the same group assignments 

for model compounds in each crude oil cut and adjustment of the number of groups by a 

fitted continuous parameter n so as to match the mid-boiling point for each subfraction; (4) 

establishment the correlation for n as a function of mid-boiling point from light to heavy 

petroleum fractions. 

Compzring with the Ruzicka et al [SS] and Fahim and Elkilani [24] methods, the 

most distinguished advantage of our method is that the group assignments of model corn- 

pounds in each crude oil cut are fmed and adjusted by ai fitted continuous parameter n. No 

matter changed in n, the proposed structure model always bring the vapor pressure of 

model compounds closed together to match the mid-boiling point of each subfraction. 

a a 

Furthermore, a correlation for n as a function of mid-boiling point was obtained. In this 

way, it is possible to evaluate the group concentration for a variety of crude oil cuts by only 

using mid-boiling point as a parameter. In the following sections, we will discuss about the 

correlation for undefined pure compound critical properties required by Lee and Kesler 

correlation for pure component vapor pressure calculations [54] and the new method for 

evaluation of groups for crude oil in detail. 

4.1.1 The Correlation for Pure Component Ciritical Properties and Acentric 
Factor by Using Group Contribution Method 

Critical temperature, pressure, and volume represent three widely used pure corn- 

- 

b 

ponent constants. Yet, recent experimental measurements are h o s t  nonexistent. III most 



............ 
.. . :. .- .. 

.... 

, .:-,. . . . . . .  

. . . .  

. . . . . . . . . . .  .-- .. . . . . . . . .  ... 

. . . . .  . . .  .* 
.*: . . . .  =. _.__ .... . . . . . . . .  ,>. :._ . --  . . . . .  . . . . . . .  . . . . .  . -  . .  

85 

cases, the values given were measured. An excellent computation of critical properties is 

available in a National Physical Laboratory report by Ambrose [4]. Earlier reviews were 

given by Kudchadker et.al. [51] for organic compounds and Mathews [59] for inorganic 

compounds. The Design Institute for Physical Property Data 1181 also presents a detailed 

discussion of critical properties and their estimation. In this work, we use Joback modifi- 

cation of Lydersen’s method to estimate the critical properties of three model compounds 

in petroleum fractions. 

4.1.1.1 Joback Modification of Lydersen’s Method for Tc, Pc, and VC 

One of the first very successful group contribution methods to estimate critical 

properties was developed by Lydersen [56] 1955. since that time, more experimental 

values have been reported and efficient statical techniques h&e been developed to deter- 

mine the optimum group contributions. Joback [44] reevaluated Lydersen’s scheme, 

added several functional groups and determined the values of the group contributions. His 

proposed relations are: 

T ,  = Tb [ 0.584 + 0.965 AT- (E  AT)^]-^ (4.3) 

Pc = (0.113 + 0.0032 n~ - 

Vc = 17.5 + >Ac 

(4.4) 

(4.5) 

As with this method, the units are Kelvin’s, bars, and cubic centimeters per mole, nA is the 

number of atoms in the molecule. The A values are given in table 4.1. 
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4.l.1.2 The Correlation for Acentric Factor 

One of the more common pure component constants is the acentric factor [73,74] 

which is defined as 

w =- logP,, (at  TT = 0.*7) - 1.000 

AS originally proposed, o represented the acentricity or non-sphericity of a molecule. It 

also rises with polarity. At present, o is very widely used as a parameter which in some 

manner is supposed to measure the complexity of a molecule with respect to both the 

geometry and polarity. 

If acentric factors are needed for a material, here for model compounds, the usual 

technique is to locate (or estimate the critical constants T, and P, andjhen determine the 
- 

vapor pressure at T, = 0.7. The reduced vapor pressure &rrelations are below: 

Q! w = -  
P : (4.7) 

where 

(4.9) 

(4.10) 

and P, is in atmospheres, Lee and Kesler [54] reported tlhe Eqn (4.7) yields values of o very 

close to those selected by Passut and Danner [72] and Henry and Danner [41] in their 

critical reviews. 

In many instances, in the literature, one finds related to Zc by 

= 0.291 - 0 . 0 8 0 . ~  Pc 44, 
zc = R.Tc (4.11) 
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This equation results fiom applying a PVT correlation that employs o at the critical point, 

where 2 = Zc. Eqn (4.11) is only very approximate as the reader can readily show from 

the values in the literature. 

4.1.1.3 The Correlation for Boiling Point 

A number of methods to estimate the normal boiling point have been proposed. 

More recent techniques are usually specific for a given homologous series. 

To obtain a very approximate guess of Tb, one may use the group contributions by 

Tb in Table 4.1 with the relation: 

- . . -  (4.12) . 

where Tb is in Kelvin's. The group increments were developed by Joback 1451, and with 

Equation (4.12) were tested on 438 diverse organic compounds. The average absolute 

error found was 12.9 K, and the standard deviation of the error was 17.9 K. The average 

of the absolute percent errors was 3.6%. Whereas these errors are not small, this simple 

technique may be useful as a guide in obtaining approximate values of TI, should no ex- 

perimental value be available. 

For each cut, once the critical properties (T,, P,, V,) and acentric factor of model 

compounds were predicted using the proposed group contribution model showing above, 

the pure component vapor pressure may be determined by Lee and Kesler [54] correlation 

and used in Equation(4.1) to obtain the group model in petroleum fractions. 
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4.1.2 Evaluation of Groups for Crude Oil Cuts 

The petroleum crude oil was fractionated into three temperature-ranged fractions 

based on their mean molecular weights. The first fraction (400 - 500 K) is assumed to be 

composed of three equimolar pseudo-compounds (paraffins, napthenes and monoaromat- 

ics). For the second fraction (500 - 600 K), we assume that the cut is composed of 

paraffins, napthenes and two equimolar aromatics (monoaromatics and diaromatics). We 

represent the third fraction (600 - 750 K) in terms of paraffins, napthenes, and three 

equimolar aromatics (monoaromatics, diaromatics, and triaromatios). The structures of 

these compounds are fixed and adjusted by a fitted continuous parameter, so that their 

boiling points are equal to the mid-boiling points of the cut at atmospheric pressure. For 

each cut, a'charactenstic value of the parameter n completely defines the cut in terms ofhhe - -  
a 

three kin& of equimolar model compounds (pam,Tfin:j, napthenes and aromatics). The 

proposed model and the assumed values of n could be regarded as correct when the co 

dition in equation (4.1) was satisfied. 
^ .  

The results of suggested group for crude oil fractions and the value of n in different 

mid-boiling point are given in Table 4.2 and Table 4.3. Comparison of the molar mass 

obtained from the proposed group model and that predicted from Riazi and Daubed cor- 

relations [82] which are based on the experimental values of mid-boiling point and specific 

gravity is shown in Table 4.4. Table 4.5 presented the experimental mean average boiling 

point of model compounds which come from the proposed group model. It shows that our 

method for evaluation of group concentration for crude oil cuts gives us very closed boiling 

point of model compounds at the same value of n from light hydrocarbons to heavy hy- 

drocarbons (c8 - C~O) .  Figure '4.1 shows the same resiilts clearly. 

As we discussed before, this method does have some advantages. One of the fea- 

tures of this approach is that it does not need specific properties of each petroleum fraction, 

5 :  

c 
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such as specific gravity and mole concentration of model compounds other than mid- 

boiling point. It allows the sensitivity of the mole concentrations of model compounds to 

the functional group concentrations to be small enough to be neglected. Table 4.6 shows 

that if we keep the same model structure and the value of n as those predicted from 

equimolal concentrations of model compounds, the change in molar concentration of 

model compounds in mid-boiling point is very small. The biggest deviations of mid- 

boiling point are within k 6 K for n varied from 0.3333 to 5. It indicates that the assump- 

tion for model structure unrelated to the concentration of model compounds is reasonable. 

Furthermore, a correlation for the characteristic value of n in each cut was obtained 

as a function of mid-boiling point from the following relation which has been found ap- 

propri:te for this work.. 
4 

- 

(4.13) 

where Tb is the mid-boiling points of crude oil cuts. The estimated parameters in eqn. 

(4.13) are obtained by using least square regressions and are given below: 

= - 0.438268, a1 = - 0.157568E-01, a2 = 0.570183E-04, a3 = - 0.343543E-07 

Very good fit was obtained with errors of less than 0.2%. This expression for n is 

now ready to be used in solubility calculations. 

4.2 Prediction of Hydrogen Solubility in Petroleum Fractions 

As we discussed in chapter IKI, the hydrogen solubility is predicted by equating the 

gas phase hydrogen fugacity to the liquid phase fugacity. In same way, the following 

equation could be used for prediction hydrogen solubility in petroleum fractions which 

came from eq (3.60). 
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(4.14) - 

where Xm is the mole fraction of hydrogen in liquid phase, and Ym is the mole fraction of 

hydrogen in the gas phase. In Equation (4.14) P is the total pressure of the system, qm is 

the fugacity coefficient of hydrogen in vapor phase, which can be obtained by the virial 

equation of state described in chapter m, yz12 and ma* are the activity coefficient of hy- 

drogen in the crude oil fraction and in the infinite dilution reference solvent respectively, 

and H z ~  is Henry's law constant of hydrogen in the reference solvent. Use of a reference 

solvent is required since the stand state fugacity for hydrogen in crude oil fractions is not 

available. In this work, n-hexqe, n-decane, and n-hexadecane are used as reference sol- 
a 

vents corresponding to the number of carbon atoms in model compounds. 

By using the new interaction parameters estimated from chapter III, the hydrogen 

solubility in petroleum fractions can be calculated from eq (4.14). The activity coefficient 

ym was calculated by modified W A C  for the functional group concentrations present in 

crude oil cuts. These group concentrations were calculated from the new method we dis- 

cussed above by correlation the n as a function of mid-boiling points of crude oil cuts. 

4.2.1 Comparison between Predicted and Measured Solubilities 

As discussed before, hydrogen solubility data must be available experimentally to 

compare them with the predicted values to show the applicability of the W A C  model. 

Since the experimental hydrogen solubility in petroleum fractions at high temperatures and 

pressures are not available in the literatures, we use the experimental hydrogen solubility 

data at one atmosphere which was measured by Mohamed and Ellcilani [62] to verify the 

validity of our model. Reported by Mohamed and Elkilani 1621, the petroleum crude oil 
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was hctionated into five fractions where the specific gravity and mid-boiling point of 

each cut were determined and shown in table 4.7. These data were used to predict the 

PNA, using the Riazi and Daubert correlations [82]. The results are shown in Tab€e 4.8. 

Hydrogen solubility in each crude oil fraction which expressed as Henry’s constant 

was determined experimentally by means of the pulse method [23] described by Mohamed 

and Elkilani [62]. 

Hydrogen solubility in each crude oil fraction was also predicted by means of 

Equation (4.14). The activity coefficients were calculated from UNIFAC for a mixture of 

pseudo model compounds, paraffin, naphthene and aromatic. The molecular structure of 

each compound was composed of UNIFAC groups with non-integer number n correlated 

as a function of mid-boiling point. 
a .. 

a 

Since the gas phase may be considered ideal (@m = 1) and the mole fraction of 

hydrogen in vapor phase to be equal to unity for nonvolatile liquids at atmospheric pressure 

then the eq (4.14) can be changed into following expression for solubility predictions: 

(4.15) 

Furthermore, the mole fraction of hydrogen in liquid petroleum fraction which o 

tained from eq (4.17) is used to calculate the Henry’s constant by means of Henry’s law. 

Recalling, for very small Xm, Henry’s Law can be expressed as follows 

(4.16) 

Since the Xm is very small and the gas phase may be considered ideal at one atmosphere, 

Henry’s constant of hydrogen in each crude oil cut could be calculated by Hm = P / Xm. 

The results of the experimental value of Henry’s constant are compared with those PIE- 
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dicted as shown in Table 4.9. The deviations shown in this table confirmed that the model 

including the new method for evaluation of the group concentrations in crude oil cuts can 

be used to predict hydrogen solubility in petroleum fractions successfully with 7 % average 

error at low temperature (308-473 K) and atmospheric pressure. 

4.3 Application of the Model for the Hydrocracker Feedstocks at High 
Temperatures and Pre., w ~ r e s  

In this section we wil l  discuss about using the imodel for predicting hydrogen sol- 

ubility in petroleum fractions to work on some specific hydrocracker feedstocks, such as 

'Coker Go' , 'FCC LCGO', and their mixture at the hydrocracking reaction operating 

conditions. "Coker Go" is a gas oil product obtained by delayed coking operations. In 

recently years, this process has been used to prepare hydrocracker feedstocks with mini: 

mizing refinery yields of residual fuel oil by severe ihermal crackiig of stocks such as 

vacuum residuals and thermal tars. The other very important and widely used refinery 

process is catalytic cracking which is used for converting heavy oils into more valuable 

gasoline and lighter products. The light cycle gas ojil (LCGO) obtained from the fluid 

4 

a - 

catalytic cracker (FCC) of the fluidized bed units is called FCC LCGO. As we discussed 

before, hydrogen solubility in different crude oil fracitions was predicted using modified 

UNIFAC group contribution method. A new procedure for characterizing crude oil fra 

tions has been established. Functional group concentrations were estimated by means of 

suggested group models with non integer number n correlated as a function of mid-boiling 

point of petroleum fractions. Due to the deficiency of experimental hydrogen solubility 

data in petroleum fractions at high temperatures and pressures, we can only represent the 

calculated results as follows 

The crude oil properties of "Coker Go" and "FCC LCGO" cuts are reported by Gary 

and Handwerk [29]. The OAPI Gravity of these b o  fractions are obtained from this book 
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[29,page 1561 and are used to determine the mid-boiling point of each cut by the TBP and 

gravity curves [29, page 291. The Watson characterization factor is a widely used corre- 

lation between yield and the aromaticity and paraffinicity of crude oil cut and can be 

defined as following Equation. 

Ku = (TB)''~/G (4.17) 

where TB is mean average boiling point, OR, and G is specific gravity at 60 OF and can be 

calculated from OAPI gravity by the following relationship shown as follows 

G = 141.5/ (OAPI.+ 131.5) (4.18) 
.) 

' Therefore, The Watson characterization factor (Kw) can be calculated by the expressions 

shown above. Table 4.10 shows the mid-boiling point, O A P I  gravity and Watson charac- 

terization factor. These data are used to roughly estimate PNA and determine the 

functional group concentrations of model compounds. Since the saturated Hydrocarbons 

show a narrower range of Kw and vary from 9.8 for a pure aromatic compound to 13 for a 

pure p a r a f f ~ c  material, the crude oil cut could be considered containing more paraffins if 

the Kw closed to 13, or more aromatic compounds if Kw closed to 9.8. The rough PNA 

analysis for these two crude oil cuts are obtained by the information described above and 

shown in Table 4.1 1 where P, N, AI, A2, A3 are pseudo-compounds (paraffin, naphthene, 

one-ring aromatic, two-ring aromatic, and three-ring aromatic ) 

The results of the predicted hydrogen solubility in 'Coker Go' and in 'FCC LCGO' 

at high temperatures and pressures are presented in Table 4.12. Figure 4.2 and 4.3 show 

solubilities as a function of temperature and pressure for hydrogen in "Coker Go" (Fig, 4.2) 
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and in "FCC LCGO" (Fig. 4.3). We find that the hydrogen solubility increases with in- . 

creasing the temperatures and pressures. 

- For the mixture of 'Coker Go' and 'FCC LCGO', we use two different PNA anal- 

ysis methods. Method 1 is that we use the average mid-boiling point over a wide range of 

true boiling and API" gravity to determine the functional group concentration of model 

compounds, the results are given in Table 4.13 and Table 4.14 

Method 2 is that the wide range of true boiling point is broke into two subfkactions, 

Coker Go and FCC LCGO. For each subfraction, we use its own mid-boiling point and 

API gravity for PNA analysis respectively to determine the functional group concentration. 

The results have been given in Table 4.10 and Table 4.1 1. 
- 

a The predicted hydrogen solubility in mixture of Coker Go and FCC LCGO using . 
x -, - 

these-two methods are preiented in Table 4.15 as isotheims 
- 1 -  

In Table 4.15, it is shown that there is no signifkant difference between these two 

methods for calculating the hydrogen solubility in crude: oil cuts. It can be concluded that 

for a wide range of true boiling point, we don't need to divide a TBP curve into a number 

of subfractions, using the average mid-boiling point anti API gravity over a wide range of 

boiling point for a petroleum fraction will give us almost the same results. 
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Table 4.1 

Joback Group Contributions for Critical Properties, the Normal Boiling 
Point I451 

A 

Nonring Increments AT AP Av Ab 

-CH3 
>CH2 
>CH- 
>CH< 

0.0141 -0.00 12 65 23.58 
0.0189 0 56 22.88 
0.0164 0.0020 41 21.74 
0.0067 0.0043 27 18.25 

Ring Increments 
a 

-CH2- 
>CH- 
>C< 
=CH- 
=C< 

0.0100 0.0025 
0.0122 0.0004: 
0.0042 0.0061 
0.0082 0.00 1 1 
0.0143 0.0008 

48 
38 
27 
41 
32 

27.15 
2 1.78 
21.32 
26.73 
31.01 
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Table 4.2 

Suggested Group Models for Crude! Oil Fractions 

UNIFAC 400 -- 750 K. 
GROUS 

P N A1 A2 A3 

CH3 2+n 1 l+n 1 . 1  

6+n 3n 3n-5 
.... . 

3n-12 n 

CH 0 0 0 n 

0 

0 

n 

0 5 

1 

0 

0 

+ 
a 

0 
+ 

0 
-. . 

CH, cyc 0 

GHS 
(Benzene Ring) 

0 0 1 
' .  

0 

0 0 '  

C1a7 
(Napthalene Ring) 

0 0 1 0 '  
, 

0 0 c14H9 0 
(Triaromatic Ring) 

0 1 

P : Paraffin 
A3 :Triaromatic 

N : Napthene AI : Monoaromatic A2 : Diaromatic 
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Table 4.3 

The Value of n in Suggested Group 

Mid-Boiling Point n 
Tb (K) 

400 0.183 1.0001 
410 
420 
430 
440 
450 
460 
470 
480 

500 
510 
520 
530 
540 
550 
560 
570 
580 
590 
600 
620 
640 
660 
680 
700 
720 - 
740 

$90 

0.319 
0.457 
0.598 
0.741 
0.888 
1.036 
1.187 
1.338 
1.492 
1.645 
1.786 
1.946 
2.106 
2.266 
2.424 
2.581 
2.737 
2.892 
3.045 
3.196 
3.555 
3.850 
4.131 
4.403 
4.67 1 
4.940 
5.212 

0.9993 
0.9998 
0.9998 
1.0008 
0.9995 
1.0000 
0.9990 
1.0005 - 
0.9991 
1.0007 - 
1.0006 
1.0006 
1.0004 
0.9995 
1.0003 
1.0008 
1.0008 
1 .oooo 
0.9999 
1.0004 
1.000 1 
1.0003 
0.9996 
0.9998 
1 .oooo 
1 .oooo 
0.9999 

a 
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TabIe 4.4 

Comparison Between Experimental and l?redicted Molar Mass 
~ 

Fraction 
K 

Molar Mass 
g/mole 

A -  B 

448 142.5 144.12 
509 191.6 201.16 
569 229.2 235.42 
647 317.7 323.27 
7 12 403.7 412.54 

4 

a 

A: Experimental molar mass from R i d  and Daubert clorrelations [82] 
B: Predicted Molar mass calculated from proposed structures 

- - 

. .  

c 

. -., 

- i  
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Table 4.5 

Experimental Mean Average Boiling Point of Model Compounds 

B.P. (K) n Model Compounds M w  

0.0 p (CSH18) 114.23 . 386.04 
N (C7H14) 96.188 374.08 
A1 (C7HS) 92.141 383.78 

0.3333 128.26 
112.21 
106.17 

410.00 
404.93 
412.68 

0.6666 142.29 
126.24 a 

120.19 

447.30 . 
427.70 
436.96 - - 

469.10 
449.00 
457.19 

1 .oooo 156.31 
140.26 
134.22 

1.3333 170.34 

148.25 
128.17 

----I 

489.50 
479.30 
479.85 
491.14 

1.6666 184.37 508.60 
---- 
499.25 
514.30 

---e 

162.27 
142.20 

2.0000 526.70 
---- 

-e--- 

. 156.23 
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Table 4.5 (continued) 

n Model Compounds M F V  B.P. (K) 

2.3333 212!.42 . 543.80 
--e- 

---- 
545.65 

2.6666 560.00 . 

- 1  

. I  3.0000 

.- . 

254.50 589.50 
----- 
-e--- 

---- 

3.3333 

3.6666 268.53 
-.---- 
.----a 

4.000 282.56 
----- 
-I-- 

---- 
192.26 

617.00 
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Table 4.5 (continued) 

5.000 
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Table 4.6 f 

Sensitivity of Concentration of Model Compounds to the Mid-Boiling Points of 
Crude Oil Cuts 

Mole Faction of Value of n Mid-Boiling Point 
Model Compound T b  

0.3333 (P) 
0.3333 0 
0.3333 (A) 

0.3333 411.20 

0.3333 414.70 0.1000 (P) 
0.4000 (N) 
0.5000 (A) 

0.3333 - 
-. 

406.30 - 0.4000 (P) 
0.0500 (N) 
0.0500 (A) 

0.3333 (P) 
0.3333 (N) 
0.1111 (Al) 
0.1111 (A2) 
0.1111 (A3) 

5.0000 724.58 

1 0.0500 (I?) 
0.0500 (N) 
0.3000 (Al) 
0.3000 (A2) 
0.3000 (A3) 

5.0000 728.50 

5.0000 724.40 0.9000 (P) ' 

0.0500 (N) 
0.0166 (Al) 
0.0167 (A2) 
0.0167 (A3) 

1 .  
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Table 4.7 

Physical Properties of Crude Oil Fractions Determined by Mohamed, A.F., 
and Elkilani, A S  [62] 

Fraction Mid. B.P Specific Molar Mass 
K Tb, K Gravity glmole 

423-473 448.15 
473-544 508.65 
544-594 . 569.15 
594-700 647.15 
700-724 712.15 

0.76228 
0.80820 
0.83950 
0.88540 
0.91330 

142.46 
181.60 
229.18 
3 17.67 
403.65 



E;; 

104 a 
t 

- Table 4.8 

Predicted Paraffins, Naphthenes and Aromatics Percent (PNA) in Crude Oil Cuts 
Determined by Mohamed, A.F., and Elkilani, A.S I621 

5 
i 

- 
i 

Fraction Paraffins Nap t henes Aromatics - 
K P% N'% A%" 

423-473 7 1-90 4-75 23.35 
473-544 42.23 32,150 . 24.97 

594-700 17.52 49.18 33.30 
700-724 10.35 54.55 ~ 35.10 

544-594 33.78 39.13 27.09 

. .  
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Table 4.9 

Henry’s Law Constant (Kpa) for Hydrogen in Crude Oil Fractions at 
Different Temperatures 

Crude 
Fractions 

Temperature Predicted *Experimental 
K W P a )  W P a )  

% 
Deviation 

308 91890.5 . 81971.9 12.1 
423-473 K 318 73750.8 .72092.7 2.3 

328 55068.4 59792.0 7.9 
338 43156.8 47217.5 8.6 

473-544 

- 
544-594 

594-700 

700-724 

298 
323 
348 
373 

323 
373 
398 

. 423 

323 
398 
423 
448 
473 

122398.9 
103847.1 
83280.2 
62016.7 

112602.5 
91737.7 
78344.5 
59346.1 

a 

1671.39.1 147519.1 - 
1462 1 1.1 133526.1 
126061.3 115865.2 - 
104250.3 100048.3 

22965 1.3 
297313.1 
271692.3 
245318.9 
243653.2 

197634.5 
2763 13.3 
264549.5 
2424 10.0 
239 8 16.1 

8.7 
13.2 
6.3 
4.5 

4 

.I 

13.3 
9.5 - 

8.8 
4.2 

16.2 
7.6 
2.7 
1.2 
1.6 

373 305982.3 27541 1.6 11.1 
398 292339.5 276313.3 5.8 
423 270369.6 264549.5 2.2 
448 245803.7 2424 10.0 1.4 
473 238 137.4 239816.1 0.7 

average error( %) 6.81 

* Experimental HQSpa) measured by Mohamed and Elkilani [61] 
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Table 4.10 

Physical Properties of Coker Go and FCC LCGO 

-~ 

Fraction OAPI 

Gravity 

Coker Go 
FCC LCGO 

653.15 
916.50 

24.0 
10.7 

11.60 
11.88 

i 
3 

f ;  

i 
. <  

- 
I t 

- 
? 

L 
i 
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Table 4.11 

Paraffins, Naphthenes and Aromatics Percent (PNA) in Coker Go 
and FCC LCGO 

~~ 

Fraction Paraffins Naphthenes Aromatics 
P %  N %  Ai % A2 % A3 % 

Coker Go 0.500 0.200 0.100 0.100 0.100 
-~ 

FCC LCGO 0.600 0.160 0.080 0.080 0.080 

4 

c) 
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Table 4.12 

The Predicted Results for Hydrogen Solubiliity in ’Coker Go’ and in 
’FCC LCGO’ at High Temperatures and High Pressures 

108 

~ 

Temperature Pressure Liquid Mole Fraction of Hydrogen in 
T, OK P, atm 

Coker Go FCC LCGO 

500 

550 

600 

60 
70 
80 
90 
100 
110 

* 120 - 
. 130 
1 140 

150 

60 
70 
80 
90 

100 
120 
130 
140 
150 

60 
70 
80 
90 
100 
110 
120 
130 
140 
150 

.I 

o.ioo 
0.115; 
0.13C) 
0.145 
0.155, 
0.174 
0.187 
0.20:1 
0.214 
0.22’7‘ 

0.119 
0.13’7 
0.15#4 
0.17 1 
0.188 
0.220 
0.235 
0.250 
0.265 

0.14.7 
0.169 
0.190 
0.2 I. 0 
0.230 
0.249 
0.267 
0.285 
0.302 

. 0.319 

0.122 
0.141 

. 0.158 
0.176 
0.193 
0.209 
0.225 
0.241 
0.256 
0.270 

0.145 
0.166 
0.187 
0.206 
0.226 
0.262 . 

0.279 
0.296 
0.312 

0.179 
0.204 
0.228 

0.274 
0.295 
0.315 
0.335 
0.353 
0.372 

0.251 . 
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Table 4.12 (continued) 

Temperature Pressure Liquid Mole Fraction of Hydrogen in 
T, OK P, atm 

Coker Go FCC LCGO 

650 

700 

60 
70 
80 
90 

100 
110 
120 
130 
140 
150 

60 
70 
80 
90 

100 
110 
120 
130 
140 
150 

0.185 
0.21 1 
0.237 
0.261 
0.284 
0.306 
0.328 
0.348 
0.368 
0.387 . 

0.234 
0.266 
0.297 
0.325 
0.353 
0.378 
0.403 
0.426 
0.448 
0.469 

0.224 
0.254 
0.282 
0.309 
0.335 
0.359 
0.381 
0.403 
0.424 
0.443 

c 

0.283 
0.318 
0.351 
0.381 
0.410 
0.436 
0.461 
0.484 
0.508 
0.529 



i 

110 

Table 4.13 

Physical Properties of the Mixture of Cokeir Go and FCC LCGO 

Fraction . MidB.P. A P I O  K w  
Tb, K Gravity 

Coker Go (61.8 %) / 
FCC LCGO (38.2 %) 

7 17.59 18.9 11.71 

c 
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Table 4.14 

Paraffins, Naphthenes, and Aromatics Percent VNA) in the Mixture of 
Coker Go and FCC LCGO 

. .  - ... :. . r . 3 .  . . - . . . ~ _.:. 

. .  . .  
. . .. 

.. . ’ .:,” . . .. _ _  . .  , I .  . . . .  . . .  _.. . : 

1 

~~ ~ -~ 

Fraction Paraffins Naphthenes Aromatics 
P %  N %  A1 % A2 % A3 % 

Coker Go (61.8 5%) / 0.5618 0.1753 0.0876 0.0876 0.0877 
FCC LCGO (38.2 %) 

. .  
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Table 4.15 

The Predicted Results for Hydrogen Solubility in the Mixture of " CokerGo" 
and "FCC LCGO" Using Two Different Methods 

Temperature Pressure Predicted Hydrogen Solubility 
P , b  

Method 1 Method 2 

500 

550 

600 

60 
70 
80 
90 
100 
110 
120 - 

a 
* 130 

140 - 

150 

60 
70 
80 
90 
100 
110 
120 
130 
140 
150 

60 
70 
80 
90 
110 
120 
130 

0.1O6 
0.123 
0.139 
0.154 
.0.169 
0.184 
0.199 
0.213 
0.227 
0.241 

o . in  
0.146 ' 

0.164 
0.182 . 

o,, 199 
0.216 
0.233 
0.249 
0.265 
0.280 

0.157 
0.180 
0.202 
0.223 
0.263 
0.282 

* 0.301 

~~ ~- 

0.108 
0.125 
0.141 
0.157 
0.172 
0.188 
0.202 
0.217 
0.23 1 
0.245 

0.129 
0.148 
0.167 
0.185 
0.203 
0.220 
0.237 
0.253 
0.269 
0.284 

0.160 
0.183 
0.205 
0.226 
0.267 
0.286 
0.305 

. 
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Table 4.15 (continued) 

Temperature 
T, K 

Pressure 
p, afm 

Predicted Hydrogen Solubility 

Method 1 Method 2 

700 

140 
150 

60 
70 
80 
90 
100 
110 
120 
130 
140 
150 

0.388 
0.407 

0.252 
0.285 
0.3 16 
0.345 
0.373 
0.399 
0.425 
0.446 
0.468 
0.488 

0.391 
0.410 

0.254 
0.287 
0.3 18 
0.348 
0.376 
0.402 
0.427 
0.450 
0.472 
0.493 
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Fig. 4.1 Experimental Mean Average Boiling Point of Model Compounds at different 
vaIue of n 



. .  . .  .. .. . . .  
:. ._ . : . 

115 

Fig. 4.2 Pressure Dependency of Calculated SoIubility of Hydrogen in Coker Go at 
Different Temperatures 



+ 
0 

0.80 

0.64 

0.48 

0.32 

0.1 

0.0c 

116 

-t T=500.0 K -+ T=550.0 K 
-e Tz600.0 K 
-e T=650.0 K 

T=700.0 K -- 

20 56 92 128 164 
Pressure P [otm] 

Fig. 4.3. Pressure Dependency of Calculated Solubility of Hydrogen in FCC LCGO 
at Different Temperatures . .  
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CHAPTER V 

CONCLUSIONS AND RECOMMENDATIONS 

It was seen from chapter IU that a new model for the prediction of solubility of 

hydrogen in pure hydrocarbon solvents at advanced temperatures and pressures has been 

developed. The method uses the virial equation of state for the vapor phase fugacity and 

> 

modified W A C  group contribution conelation for activity coefficients in the liquid 

phase. A expression for Henry’s law constant for hydrogen in a referencc solvent as a 

:unction of temperature has been used to evaluate the supercritical fugacity of the pure 

hydrogen as a hypothetical liquid whenever T is greater than the critical temperature for 

hydrogen. 

- - 

It has been shown that the W A C  group contribution method can be applied to 

predict the solubility of hydrogen in pure hydrocarbon solvents. The necessary parameters 

have been presented for calculations of hydrogen solubilities in hydrocarbon solvents for 

pressures up to 680 atm. and for temperature up to 600 OK. The average errors to expected 

in the predicted solubilities are smaller than 13 %, if the temperature lies within the ranges 

indicated in Table 3.8 and in Table 3.9. In general it cannot be recommended to apply the 

UMFAC method at temperatures outside the temperature range for which the experimental 

solubility data considered. 

The method has certain features that made it elegant. In this work, we introduce the 

correlation for the third virial coefficients to calculate the vapor phase fugacity coefficients 

at high pressure. A Wagner’s expression for group-interaction parameters suggested in 

UNIFAC model has been proven to be more suitable for prediction hydrogen solubility in 
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petroleum fractions. Moreover, three hydrocarbon solvents have been used as a reference 

solvent to evaluate the reference Henry’s law constant of hydrogen which are shown to 

work well for prediction of hydrogen solubility in a variety of hydrocarbon solvents. 

Since gas-liquid equilibrium calculations at high pressures and high temperatures 

are more difficult than those at low or modest pressures and temperatures, the model has 

certain limitations also. Firstly, our method for calculating the reference fugacity of pure 

hydrogen in the liquid state (fz? is changed into one of estimating a Henry’s constant for a 

reference solvent which is only a function of temperature (f:=H2,I/yz r”). The effect of 

pressure on f: is neglected. This expression for f? may be lead to some error at high 

pressure. But so far the pressure dependency of reference Henry’s law constant at constant 
4 temperature is st i l l  not available. a 

Secondly, the effect of pressure on liquid phase properties is significant only at 

high pressure. At low or modest pressures this effect can often be neglected or approxi- 

mated; the common approximation made in this work is to assume that the standard-state 

fugacity depends on pressure (as given by the Poynting factor) but the activity coefficient 

is independent of pressure at constant composition and temperature. Since the assumption 

that activity coefficient y is independent of pressure is equivalent to assuming that in the 

liquid phase the partial molar volume 7: is equal to the molar volume of pure liquid i. At 

high pressure, especially in the critical region, this assumption can lead to serious error. 

But, so far the pressure dependence of the activity yi at constant temperature and compo- 

sition is somewhat uncertain. 

Thirdly, the vapor phase fugacity coefficient $: may be found from the virial equa- 

tion of state suitable for high pressures, as discussed in sec. 3.3.1. Such‘ equation tends 

to be complex. By contrast, at low pressures we can often set Qi = 1, and at modest pres- 

sures we can often calculate $i with the virial equation truncated after the second term. In 
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this work, we introduced the third virial coefficients to evaluate the vapor phase fugacity 

coefficients at high pressures. Due to the limitation of experimental data source, the cor- 

relations for the fourth and higher virial coefficients are still not available. 

The model for hydrogen solubility in pure hydrocarbon solvents has been applied 

to petroleum fractions. A new procedure for characterizing crude oil fractions has been 

established. Functional group concentrations sere estimated by means of suggested group 

models with a non-integer number n as a function of the mid-boiling point of the cut. 

The validity of the model structure was tested by calculating the deviations be- 

tween predicted and experimental molecular mass. The procedure has been found to work 

well a for different petroleum fractions. 

The hydrogen solubility in petroleum fractions was calckated bsrnodified UNI- 

FAC model with the new group-interaction parameters as a function of temperature 

obtained from chapter m. The comparison between predicted and experimental solubili- 

ties confirms the suggested model structure of crude oil cuts validity. It was found that 

hydrogen solubility could be reasonably predicted by using the model we have already 

developed with 7 % average error at one atmosphere. 

- 

Many attempts have been made to correlate gas solubilities, but success has been 

severely limited because, on the one hand, a satisfactory theory for gas-liquid solutions has 

not been established and on the other, reliable experimental data are not plentiful, espe 

-cially at high pressures and high temperatures. Hydrogen solubility data in petroleum 

fractions at modest temperature and one atmosphere has been measured and published by 

various researchers over a period of time. However, at high pressures and high tempera- 

tures, data is scarce. Any effort towards the generation of data for those conditions world 

be worthwhile. Besides, the attempt to established pressure dependence of activity coef- 

ficient in UNIFAC model will be much helpful to describe the phase behavior at high 



120 

pressures precisely, and will be expected to obtain the much better results for gas solubility 

calculations. 

. -  
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1. JNTRODUCTION 
1 

Gas solubilities measured at high temperatures and pressures are used for calculation of 
the derived thermodynamic quantities. The determination consists essentially of bringing the 
solvent in equilibrium with the gas at known temperature and pressure, withdrawing the vapor 
and liquid samples under the same conditions and analyzing it for its composition. Sampling is 
the most critical operation in this experiment &d devising an appropriate sampling method is 
important. The difficulties arise due to lack of visual control and the large concentration 
gadients that occur during the withdrawal of the sample. The equilibrium apparatus consists of 
a solubility cell in which the solvent is saturated with a gas. After attainment of equilibrium, a 
sample of the liquid and vapor phase are withdrawn under identical conditions of temperature 

Vapor-liquid equilibrium data in hydrogedsolvent systems has been the subject of 
investigation by several researchers owing to their industrial importance and scientific interest. 
Such information is useful not only for the engineering design of gas-liquid contacting and 
separation equipment but also for the study of reaction kinetics in coal liquefaction mixtures 
(Simnick et al. , 1977; Sebastian et al. , 1978). Gas-solubility information at elevated temperatures 
and pressures is also an important parameter in high pressure processes such as coal liquefaction 
(Matsurnoto and Satterfield, 1985) and for the design of gas absorption and stripping columns 
in chemical industries. 

In this work, we are building a semi-flow type of equipment where the hydrogen gas will 
flow through a static solvent placed in a solubility cell. Simnick et al. (1977) have found that 
equilibrium Can be attained at short residence times at high temperatures using a flow type of 

.* . ___ _ _  equipment. They have also found that the thermal decompgsition that would n o r m w  occur at . 

- and pressure. 

high temperatures is minimized due to the short residence h e s .  A static type of equipment has 
been used for determining hydrogen solubiiity in coal liquids by Harrison et al., (1985). 

. .  .- 

11. BACKGROUND 

- -_ . . - -  

i. Experimental apparatus 
. .. 

a. Flow Ime svstern DrODOSed bv Simnick et al. (1977): Simnick et aL’(1977) adopted 
a flow type of design for their equilibrium cell to reduce the residence time of the sample at high 
temperatures that in turn reduced the thermal decomposition of the hydrocarbodsolvent. All the 
parts in the equipment used was made of 316 type stainless steel. A similar experimental design 
has been used by Sebastian et al. (1980) in their studies on a hydrogedn-decane system, as well 
by Simnick et al. (1980) in their studies on a ternary system of hydrogen+methane+tetrah. 

The basic design used by these researchers to study the vapor-liquid equilibrium data 
consisted of the following parts. Figure 1 is a schematic diagram of the vapor-liquid equilibrium 
apparatus used by Simnick et al. All parts exposed to the high temperature and pressure are 
made of stainless steel type 316. 
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Figure 1. Vapor-liquid equilibrium apparatus (Simnick et al., 1977) 
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Hydrogen is supplied to the system from a high pressure cylinder through a pressure 
regulator. The experiments conducted by Simnick et al., were conducted at a pressure of 120 
atm. or less. A compressor was used for the higher pressure. The fluctuations in pressure caused 
by the compressor was greatly reduced by a 500 ml pressure vessel equipped with a pressure 
regulator on the output line of the vessel, which is downstream from the compressor. 

The liquid feed is delivered either from a Ruska pump (syringe type, 1000 ml contents) 
or a Hills-McCanna U type metering pump at rates of 500 to 2000 rnl/hr. The flow from a 
Ruska pump is even, while that from the Hills-McCanna type, quite uneven. To reduce these 
fluctuations, a cylindrical vessel of 75 ml is installed in a vertical portion of the liquid line. The 
liquid flow is through the lower part of the vessel , while the hydrogen flow is through a valve 
connected to the top of the vessel. A teflon boat floats on the surface of the liquid to reduce 
depletion of the gas by absorption. 

The hydrogen gas and the liquid feed are joined at a tee. The two-phase mixture is heated 
in a tube, initially in a small size tubing (2.11 mm ID) and finally in a larger size tubing (5.15 
mm ID). The larger size tubing is fitted with an internal notched and twisted ribbon along its 
length to promote miXing of the flowing fluids. Heating is by means of electrical heating tapes 
wound on the outside surface of the tubings. The rate of heating is controlled so that the 
temperature of the feed stream is within 1% of the equilibrium cell temperature. 

The mixture is then fed into the equilibrium cell, where the gas and liquid phases are 
separated. The equilibrium cell is approximately 90 ml in volume. Two nozzles are welded to 
opposite sides of the cell. One nozzle is for the gadliquid feed stream, while the other nozzle 
is for a liquid level detector. The electrical insulation is rated for a temperature of 43OoC that 
sets the maximum temperature that can be reached by this apparatus. A pool of liquid is always 
mahtainedk the cell to avoid entrainment of gas in rhe liquid withdrawn from the cell. The 
liquid level issensed by a capacitor in the cell and displayed on an oscilloscope $crep as a 
horizontal line, By adjusting the metering valve at the bottom of the cell, the li$iplevel is 
always maintained and the capacitor is always kept half immersed. The entrained liquid droplets 
are prevented from escaping by a demistor pad in the equilibrium cell. 

A copper jacket 32 mrn thick encloses the entire cell to ensure uniform temperature in 
the equilibrium cell. Heating wires insulated in fishspine ceramic beads placed in grooves cut 
on the outside surface of the copper jacket provides adiabatic heating. A 76 mm thick insulation 
surrounds the entire copper jacket to maintain high temperature 2nd promote isothermal 

The liquid stream from the bottom of the equilibrium cell is reduced in pressure, cooled 
and fed to a separator to separate the dissolved gas, which is vented to the atmosphere. The 
separated liquid is recharged to the liquid pump after purification. The gas stream from the top 
of the equilibrium cell is similarly reduced in pressure, cooled and fed to the same separator as 
the liquid stream. 

The temperature of the equilibrium cell is measured by calibrated type K chromel-alumel 
thermocoupIes inserted in the wall of the cell. The thermocouples kept on opposite sides gave 
similar readings, indicating close approach to isothermal conditions in the cell jacket. The 
temperature of the feed stream to the cell is measured with a sheathed thermocouple housed h 
a valve body like block. The feed fluid flows through the block and around the sheath. The 
block is kept adiabatic by means of insulation and heating outside the insulation. A bare couple 
is attached to the outside surface of the block. Isothermal and adiabatic conditions for the 
thennocouple block is indicated by similar readings for the bare couple and sheathed couple. 

conditions within. - .  



. 

This is achieved by adjusting the heater. . 
Lm et al., (1981) have used a similar experimental apparatus in their investigation of 

solubilities of hydrogen and methane in coal liquids. Simnick et aL(1980) modified the above 
apparatus in one of the2 later studies. Changes were made in the gas-feed system and in the 
sampling and analysis systems. In this modified system, a Matheson gas mixer was installed to 
provide a mixed gas stream at a set composition from individual cylinders of gases. Downstream 
from the blender, two vessels of 1L each were placed in series i n  front of the compressor to 
reduce pressure fluctuations and to promote mixing. This method is the most suitable for our 
type of application that involves both high temperature and pressure. 

b. Static tvDe svstem suecested bv Harrison et al.. (19851: Static systems have also been 
used for the determining hydrogen solubilities (Harrison et ai., 1985). The authors claim that 
the static type of system is most suitable for study of coal liquids and complex systems 
containing water, ammonia, hydrogen sulfide and hydrogen. This method, though simple to 

. . .. 

L 

4 
.. . ... 

. r  

Figure 2. Equilibrium vessel cell and sampling system (Harrison et al., 1985). 
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operate, reasonably accurate and relatively low in cost, suffered due to the increased probability 
of sample reactions at high temperatures due to the long exposure times (Harrison et al., 1985). 
This system essentialIy consisted of a 2-L autoclave and sampling system, most parts being made 
out of 316 type stainless steel. The gases, compressed to 3700 psi, were mixed with 1300 cc of 
solvent in the'autoclave, using a stirrer. A schematic description is given in Figure 2. Mixing 
and contact between the gas and liquid phases were effected by a hollow shaft mixer that drew 
the gas down the tube and dispersed it into the liquid. The seal for the stirrer into the cell has 
to be good enough to retain the high pressure. 

c. Static m e  svstem sueeested bv Laueier et al.. (1980): The experimental apparatus 
used by Laugier et al., (1980) consisted of sampling both the liquid phases that are in 
equilibrium. This was a static method. 

d. Static me svstem suczested bv Brunner (1979. 1980): A static system was used by 
Brunner (1979, 1980) which consists of three sections, Le., gas supply, gas saturation, and 
degassing. In this method, B m e r  used a thermostatted high-pressure equilibrium cell equipped 
w i ~  an electromagnetic reciprocating stirrer and the solvent is substantially degassed by 
prolonged evacuation. In this method, the pressure is measured by a strain-gage pressure 
transducer that is calibrated with the aid of a pressure balance before and after each series of 
experiments. The reproducibility of these pressure-transducer calibrations is better than 0.1 
percent. A schematic diagram for measuring the gas solubilities used by Brunner (1980) is given 
in Figure 3. The solvent is saturated with hydrogen in the autoclave with intense stirring 
(approximately 30 minutes). For higher viscosity liquids, higher stirring times are necessary to 
effect complete saturation (up to 60 minutes). A sample of liquid is then drawn from the cell and 
let down to atmospheric pressure at constant temperature. The gas solubility being sought is 
calculated from the amount of gas that is liberated. The major disadvantage of this method is 
that the amount of the soluble hydrogen can change d u h g  the degasking operation. Moreover, 
the author has not considered the solvent vapor pressure intmonsideration that might condense - 

in the glass burette during the degassing operation. 

- 

* . ---1 

.. .... _. ...._. .. ... 

2 0  3 I 

Figure 3. Schematic diagram for measuring gas solubilities (Bmnner, 1980) 
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e. Static m e  svstem suggested bv Ding et al.. (19851: A, similar system was used by 
Ding et al., (1985) which consisted of a'high pressure equilibrium cell with two in situ hydrogen 
probes, with temperature and pressure measuring devices. The cell is also equipped with 
sampling tubes for rapidly withdrawing gas and liquid samples and thermocouples for monitoring 
and controlling temperature. A schematic diagram of the experimental set up is given in Figure 
4. Liquid samples are withdrawn from the bottom of the cell into a low-pressure sampling 
section that consists of expansion cylinders, a Toepler pump and sampling tubes. A Hewlett- 
Packard chromatograph system is used to determine the compositions of the sample. The in situ 
hydrogen probes are used to find out if equilibrium is reached before the samples are drawn. 

. . . . . .. . - . . - 

Fiawe 4. Schematic diagram of the experimental set up (Ding et al., 1983) 
. .  

The various other methods used for the determination of gases in liquids has been 
reviewed by Markham and Kobe (1941). One of the methods used to determine the solubility 
of gases in liquids is the saturation method (Kruyer and Nobel, 1961). This method measures 
the amount of gas taken up by the liquid after it has been degassed. The saturation method is 
t h e  Consuming. The gas in a closed system has to be brought into intimate contact with the 
liquid to achieve saturation within a reasonable length of time. Intimate contact between gas and 
liquid was achieved by passing the gas through the liquid a s  small bubbles (the dissolved 
hydrogen is expelled from the saturated solution by passing argon). To achieve good liquid-gas 
contact, the diameter of the solvent container must not be too l a r - .  Since solubility of hydrogen 
is low, a large amount of solvent is required. To keep the pressure difference between the top 
and the bottom of the cell as small as possible, Kruyer and Noble1 chose a helical shape for their 
saturator (Kruyer and Nobel, 1961). 

* 



ii. Sampling and analysis techniques . 

a. Sampling techniaue suggested bv Simnick et al.. (1977. 19801: There are two sampling 
and analysis systems available for flow type of equipments (Simnick et al., 1977). In one 
system, the effluents from the cell at high temperature and high pressure are diverted by means 
of a manifold valve, sampled, and analyzed in a gas chromatograph. In the second system used 
by Simnick et al., (1977) the cell effluents are sampled after the temperature and pressure are 
reduced. In this system, the diverted stream enters a trap where the heavy component is reQined 
as a liquid at ambient conditions and later weighed with an analytical balance. The quantity of 
hydrogen gas coming out of the trap is determined volumetrically, while the gas liberated from 
the liquid phase samples is collected in a graduated cylinder over water. A wet test meter is used 
to measure the larger quantities of hydrogen in the gas phase samples. The volume 
determinations are accurate to 0.5%. 

Quantitative separation is achieved at the Iiquid trap due to the enonnous differences in 
volatilities between hydrogen and tetralin. The quantity of solvent in the sample is calculated to 
be the sum of the weighed liquid and that vaporized into the gas volume (which is very minute). 
The quantity of hydrogen in the sample is the sum of that in the gas and liquid, which is 
caIculated from Henry’s law. 

To determine the extent of thermal decomposition, the cell effluent was analyzed from 
selected runs using liquid chromatography (Simnick et al. 1977; Sebastian et al., 1980; Simnick 
et al., 1980). In a later study by the same group of researchers (Sebastian and Simnick et al., 
1980) on a hydrogedn-decane system, no decomposition products were obtained at any of the 
conditions. 

.In the system used by Simnick et al., (1977, 1980), the liquid and gas streams are cooled 
and reduced in pressure and then f e i  to a common separator to remove the hydrogen, which is’ 

~ thenirented-io-fie-hosphere. Samples are diverted ffom the cell effluents after they are 
reduced in temperatiire and pressure ’before they enter the separator. The diverted stream enters 
a trap where the condensate is retained and removed for weighing. The quantity of gas leaving 
the traps is calculated volumetrically. Due to the enormous differences in volatilities of hydrogen 
and the solvent, nearly complete separation is achieved by the liquid trap. The amount of 
hydrogen in a sample is the sum of that in the gas phase plus that dissolved in the liquid. The 
hydrogen dissolved in the liquid is found from Henry’s law using the Henry’s constant values 
from literature (Sebastian et al., 1978). 

b. SamDIinrr techniaue suggested bv Harrison et al.. (1985): In the system used by 
Harrison et al., (19851, the vapor samples were drawn into an evacuated bomb (see Figure 2). 
In this system, the volume of the tube from the bottom of the dip tube to valve 1 was minimized 
to reduce holdup and was about 1.5 cm3. The liquid in this tube was first drawn off and isolated 
between valves 2 and 3. Liquid samples were then taken into the sampIe bomb while maintaining 
the autoclave at constant The autoclave was subsequently repressured with hydrogen and 
reequilibrated before withdrawing the Iiquid sample. The Iiquid sample was withdrawn while 
maintaining the autoclave at constant pressure. The gas volume was measured by their in-house 
apparatus and analyzed using a GLC. The remaining liquid sample was analyzed uskg mass 
spectrometry. 

c. Samding techniaue suooested bv Lauoier et al.. (1980k Laugier et al., (1980) used 
gas liquid chromatography for their analysis and mention that it is best suited for hydrogen- 
hydrocarbon concentrations. The method consisted of drawing a sample from the liquid and 

- 
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vapor phases by means of a valve. When the valve is opened for a very short time 
seconds), a sample of about 1 pL of each phase is automatically injected from a 50 cc cell into 
a chromatographic circuit. The maximum temperature for which these researchers conducted 
experiments was about 40OoC. The temperature was maintained to within 0.2OC and measured 
with an accuracy of 0.5OC. They also mention that the thermal conductivity detector is the most 
suited to analyze hydrogen-hjjdrocarbon mixtures. Selective sensitivity with a thexmal 
conductivity detector depends on the nature of the carrier gas. To maximize the sensitivity of 
measuiement, it was found necessary to use a carrier gas such as neon with a thermal 
conductivity coefficient value that lies between that of hydrogen (highest thermal conductivity 
coefficient) and hydrocarbon (small thermal conductivity coeEcient). To properly use the 
detectors, the polarity of electrical signal between hydrogen and hydrocarbon measurement needs 
to be changed (Laugier et al., 1980). 

d. SamDlinp technique suggested bv Brunner (1979, 19801: Brunner (1979, 1980) 
measured the volume of dissolved hydrogen gas using a degassing apparatus. However, the 
temperature range used in his experiments are 298 K, 323 K, and 373 K and pressures up to 10 
MPa. The Kesler-Lee method was used for estimating molecular weights because of its 
applicability to a wide range of hydrocarbons by Ding et ai., (1985). 

e. SamDling technique suggested bv Choudharv et al.. (1982): A simple sampling and 
analysis technique for determining the solubility of gases in liquids at high temperatures and 
pressures has been sugested by Choudhary et al., (1982). A schematic of the apparatus is given 
in Figure 5. It essentially consists of two parts. In the first part, the desorption of the gas occurs 

k 

- r  
-cp . . -  

... .- 

gradusted 

Figure 5. Solubility apparatus (Choudhary, et ai., 1982) 
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at atmospheric pressure and the volume of the sample is measured quantitatively. The authors 
have found out the effectiveness of th'e apparatus for water but it is to be expected that the 
apparatus could work as well with any other liquid. The liquid (in the paper cited, the liquid is 
water) is equilibrated with hydrogen at a known temperature and pressure for 1 h in an autoclave 
using a stirrer speed of 1000 rpm. The water in the gas collector and the reservoir was also 
saturated with hydrogen. The apparatus was prepared for the solubility measurement by adjusting 
the water level of the gas collector to a level close to that of the gas inlet tube. 

Once the equipment was prepared for the solubility measurement, the stirring of the 
liquid in the autoclave was stopped and the outlet tube of the autoclave was flushed. After 
flushing, the inlet valve was opened and the liquid sample was introduced into the sample burette 
at a slow rate. The volume of the desorbed gas was measured by determining the volume of 
water displaced from the gas collector into the graduated burette. All the solubility experhnents 
were repeated four times to ensure the reproducibility of the data. 

The above work has been used to determine the solubility of hydrogen in water. The 
present apparatus may not be suitable for measurement of hydrogen solubility in petroleum 

. 

- 
fractions because of its density and viscous nature. 

f. SamDline technioue sumested bv Fahim and Elkilani (1991, 1992): Recently, a pulse 
technique has been used by Fahim and Ellcilani (1991,1992) to measure the solubility of 
hydrogen in different crude cuts, based upon methods suggested by Yow et al., (1983) and 
Mousa (1984) (cited in Fahim and Elkilani, 1991). In this method, a Varian Vista 6000 gas 
chromatograph connected to a six-way valve with a 1 mL sample loop was used to measure the 
hydrogen solubility of the crude oil fractions. The carrier gas used was nitrogen, with different 
flow rates. A schematic of the experimental apparatus for this technique is shown in Figure 6 .  
Solid inert particles of red firebrick was used as the packing material. The ratio of initial weight 
ofkquid to weight of liquid plus solid is defrned as liquid loading. A liquid loading of 0.5 was 
use&--in these--experiments;---~ne Muid loaded column was used to record and analyze the 
response si,oni, while the input'signal was recorded by using a column, with the same 
dimensions, packed with solid material only. The maximum experimental temperamre used was 
328 K, to avoid the volatilition of the naptha cut during the runs. 

- -..- - .-_ 

U 

- Experimental apparatus for pulse technique: 
1. Nitrosen cylinder (carrier pas); 2. Hydrogen cylinder (solute 
gas): 3. Nc:dle valve: 4. Rotame:en: 5. Flow regutator. 
6. Pressure gauge: 7. Six-way valw.: 8. Flow meters: 
9. Reference column (for TCD); IO. Tared column (crude oil CUI- 
loaded): 11. Varian 6000 GC. 

Figre  6. Experimental apparatus for the pulse technique (Fahim and Elkilani, 1991, 1992) 



In. EXPERIMENTAL PROCEDURES 

3.1 Experimental SetuD 

The apparatus for measuring the solubility of hydrogen in hydrocarbon feedstocks 

at high temperatures and pressures is illustrated in Figure: 3.1. It is a combination of a 

flow type apparatus.and a sampling method all in one package. Of all the methods 

described above, the flow type proposed by Simnick et al. (1977) was the most suitable fit 

for the type of research irivolved. The reason being was a flow-type apparatus would 

E l  

E ;  
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minimize the residence time to attain equilibrium which in turn would minimize the 

possibIe thermal decomposition and side reactions that- might occur at the high 

. 

. 
- C .  

- .  w 
c 

- 
* _ _  - -- - -  temperatures and preswres that will be applied during the study. The proposed sampling- ..---.- 

c 

technique is a combination of the methods indicated by Laugier et al., (1980) and Fahim 

and Eikilani (1991, 1992). The major advantage of this combination is that there is a gas 

chromatograph capable of analyzing both the hydrogen and hydrocarbons. This method 

has been modified to suit research requirements by incorporating an on-line gas - 
chromatogaph with a six-port vdve within the oven so that the sample is an exact 

representation of the saturated liquid present in the solubiility cell. The major reason for 
-1 

- 

using gas chromatography as an analytical tool for the quantification of hydrogen gas . ,  
. .  

present in the saturated liquid is because of its simplicity, speed, and reproducibility of 

measurements. 
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Figure 3.2 Solubility Cell 
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3.2 Solubilitv Cell 

The modified experimental apparatus consists of a solubility cell contained in a 

high temperature oven. The cell is made of 316 stainless steel and contains two 2pm' 

filters placed at the top and bottom of the cell. Refer to Figure 3.2. This is to prevent the 

spillage and leakage of the hydrocarbon from the cell into chambers where no 

contamination needs to occur. At the bottom of the cell, four ports make up the chambers 

in which hydrogen will enter the cell. The tubing connected to these ports is designed 

such that the distance traveled by the hydrogen into the ports is equal on all four sides. 

The gas passes through the filter in the form of small bubbles ensuring intimate contact 

with the liquid. This will help achieve saturation or equilibrium of the system within a 

short period of time. Other ports incorporated in the cell design inc1ude:two ports on the 

. .  

6 - - 
side of the cell used for obtainingyquid and vapor samples, two more ports opposite the 

cell containing a thermocouple and pressure transmitter respectively, and a port on the top 

of the cell for the use of an electronic valve actuator linked to the pressure transmitter to 

control pressure within the cell. Also contained in the oven are a three-port valve and a 

six-port valve and a heater coil. The coil is used to heat the hydrogen gas before it enters 

the cell. 

3.3 Sampling VaIves 

The two position valves are used for the soul purpose of obtaining the liquid and 

vapor samples from the cell after equilibrium has been attained. A diagram showing the 

three-port valve and six port valve at the two different positions are displayed in Figures 



3.3 and 3.4, respectively. The three-port valve is set up to collect the vapor and liquid 

samples. A switch on the three port valve is used to coritrol the transfer of the liquid or 

vapor sample to the six port valve where it is trapped in a 5 pL loop. Figure 3.4 shows 

the tubing routes and positions A and B of the six port valve. In position A, the sample is 

shown entering port 3 and traveling through the sample loop and then out to the vent. 

The vent has a needle valve connected to it to prevent extensive flow of the sample. The 

carrier gas (argon) enters port #I travels to the injection port of the gas chromatograph. 

In position By the rotor of the valve changes the port connections such that the carrier gas 

flows through the sample loop, picking up the sample, arid transferring it to the injection 

port of the GC, while the sample line goes .straight to the vent. In the first sequence, the 

hydracarbons are held up in the column while hydrogen is allowed to pass through and 

carried away to thesermal conductivity detector for analysis. In the second sequence, . 

the hydrocarbons are released by the column and carried away to the flame ionization 

. - .. - 
_ _  oj - - - -_, - 

r 

detector for analysis. 

The sampling technique designed for the system is very unique because it can 

measure the composition of both hydrogen and hydrocarbon in the vapor liqiud phases 

accurately and continuously. The major advantage of this technique is the six-port valve 

can be operated remotely in conjuction with the GC. The sample drawn from the vapor 

phase is rich in hydrogen, while the sample from the liquid phase is rich in hydrocarbon 

Therefore, a selective amount of the components present in each phase have to be sent to 

the column and the detector to avoid overloading the column and obtain accurate results. 

To avoid this problem, a splithplitless injection system was added to the chromatograph. 



15 

1 
I 

? I 

I 1 
i 
i 

1 
i 
1 

F9 

.Q? -- 
C . !  

$ 

. _  

I 

: 

. .  



m 
.... . . . .  . . . . .  .__- ..... . . . . . . . . . . . .  .... - - -....__._ 

. .  
I -  

- 

-. 



17 

3.4 Gas Chromatograph 

The type of gas chromatograph that was used for the analysis of this study was a 

Perkin Elmer Autosystem GC containing a spIit/spIitless injector and flame ’ionization and 

thermal conductivity detectors. The system consists of one column; that being a 15 foot 

micropacked coiumn containing 10% SP-2100 Supelcoport. The ‘micropacked column is ‘ 

used to separate the hydrocarbon as the hydrogen within the sample is allowed to pass 

through. and’ go to the thermal conductivity detector. The injector is temperature 

programmed in order to time the analysis of the sample being introduced. The sample 

enters the ‘split/splitless injector through ‘the c+er gas inlet line’ of the injector. A liner 

-inside the injector is packed tightly with glass wool. The purpose of the ilass wool is to 

collect any hydrocarbon contained in the sample so that the hydrogen is allowed to pass 

- - - 
c 

freely, for a specific time. Initially the temperature of the injector is very low for this 

collection to occur. The injector is immediately ramped up to the anticipated boiling point 

of the hydrocarbon in order for vaporization to occur. A timed event is also included in 

the injector’s program. By determining the time taken to analyze a component, the 

injector can be told to turn the split’valve “onyy or “of€” at the end of the time it takes for 

the component to be completely analyzed. 

To better illustrate this system take for example the analyzation of a liquid sample. 



I -  

. .  

I .  

. .  

3.5 Method Devdonment 

The most critical section of this process is the development of a feasible 

chromatographic method. This method is needed to enwre an accurate analysis of the 

sample being measured. Time and temperature, timed events and split ratios are the major 

. parameters involved in developing a precise method. First, the boiling point of the 

hydrocarbon must be known in order to achieve.comp1ete vaporization of the sample. 

This temperature must be used throughout the program to prevent any condensation from 

occurring. It is common to use a temperature higher'than the boiling point as such a , 

precaution. The run time for the analysis is also 'needed to give ample time for the sample 

to travel through the column and to the detectors. Various trial runs should be done to 

test the time and temperature conditions. In some cases 'timed events inconcordance with 
: .. 

- - 
- -  .___I_ _.-- 06 . split-ratios &e incorporated into the method. to prevent -ample yrloading occurring in 

the detectors. 

For this specific process, the boiling point of the hydrocarbon is 300' C. Several 

trial runs were done setting the injector, oven and detector temperatures above this 

temperature (350) to determine if a peak of the hydrocarbon can be achieved. The peak is 

then analyzed and recorded. In order for satisfactory peak anaIysis to take place, a sharp 

0 .  

' peak has to be'achieved. Because the sample of the hydrocarbon was injected into the GC 

as a liquid, a broad plateau peak was deveIoped, causing an overload into the detector. 

Therefore various split ratios were tried with.the methiod until a satisfactory peak was 

displayed. The gas chromatograph has a split vent needle valve that can be varied to the 

desired split needed. . The run time considered is based on time taken for the sample to . .  
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travel from the sixLport valve to the detector. This time is determined at the point which 

the peak of the sampIe is first detected. This process is repeated for the hydrogen analysis 

and both retention times are recorded. 

Once the preliminary setup has been done, the method is tested with an injection of 

a mixture of known amounts of hydrogen and hydrocarbon. Trial runs are continuely 

done until satisfactory results are acquired. The final proposed method is shown below: 

Oven temp: 350' C 
SpIitIsplitless injector (PSS) temperature 1: 100 
Injector Time 1: 2.0 minutes 
PSS rate: 200 C h i n  
PSS Temp 2 : 335 C 
PSS Time 2: 7.0 minutes 
Carrier Flow: 3.0 d m i n  
TCD temp: 340 C 
FIDtemp: 340C : 
Total run time: 12 minutes - 

9, 
c 

These parameters are subject to change depending on changing conditions. 

3.7 Exnerimental Procedure 

1. 

2. 

Place micron filter in the bottom of cell and tighten bushing. 

Pour desired amount of hydrocarbon into cell not exceeding top side left 
port (vapor sample port). 

Place top bushing with micron filter in cell and tighten. 3. 

4. Place clean O-ring in cell grove. Make sure groove is clean. 

5 .  

6. 

Tighten cell cover using tool prongs. 

Place cell in oven and connect and tishten all tubing. 

. 



. .  

7. 

8. 

9. 

. . .  

Leak test all fittings by using commercial air as your gas. 

Disconnect & from the line and turn on hydrogen and argon gas. 

Turn on oven and heat cell up to desired temperature (not to exceed 
350OC) and pressure. 

10. 

11. 

12. 

13. 

14. 

Adjust three-port valve such that liquid will enter into six-port valve. 

Allow the system to remain at desired temperature for approximately one 
hour so that system can equilibrate. 

Allow 5 pL loop in six-port valve to fill. 

Switch valve to inject mode to allow sample to be sent to GC. 

Analyze sample. 

. .  

.. 
. .- 

_. . . 
. .-.._ _.- ._ --.. . 



21 
.-.- 

[Amend ix) 

3.5 Microuacked Column 

The micropacked column for the gas . chromatograph was purchased fiom 

SUPELCO. It's specifications are as follows: 

Packing: 80/100 SupeIcoport, 10% SP-2100 
Column: 
Carrier: -Argon,20mL/min . 

15' x 1/16' stainless steel 

Any brand new column must be conditioned when it is first installed. It was 

conditioned using the following procedure. . 

1. 

2. 

All heaters must be turned off (oven, injector, and detector). 

Set carrier gas. Use the optional flow readout and menu template on the 
GC display panel.' Set for 20 a m i n .  Then turn the carrier gas valve on 

- the GC counterclockwise until actual flow matched the specified flowrate. * . - - - 
_._..-.- 3.. ?Attach one end of the column into the packed injector. - . U e---- 

.- 

4. Perform a leak test on the system. The GC manual suggests using a 
50/50% mixture of isopropyl alcohol and water to avoid contamination. 

5. 

6. 

7. 

Condition the column using a temperature program. The maximum 
temperature for the column is 350" C, so conditioning must stay below this 
temperature. Start the oven at 50" C for 10 minutes then ramp at 5" C h i n  
to a plateau of 345' C and hold for 999 minutes. 

After conditioning, turn all heater off and allow system to cool. Attach 
other end of column to split-splitless injector. 

Perform leak test on other end of column. 

. .  
3.6 Setting UD Flame Ionization Detector 

Setting up the FID on the GC is carried out by the following procedures: 

1. Attach bubble flowmeter t o  the FID outlet. 
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2. Adjust hydrogen flow by the following steps: 

. a. Make sure air flow to GC is turned off. Check by turning air control 
., 

b. Turn on hydrogen at the tank and adjust ithe line pressure to 30 psig. 
c.. Turn the hydrogen control valve on GC completely counterclockwise. 
d. Remove the protective cap from the control valve to bare the needle 

valve inside. 
e. Use a small flat screwdriver to turn the needle valve and adjust the 

hydrogen flow to 65 mL/min. Read the flow from the bubble 
flowmeter. The carrier gas is flowing continuously at 20 d m i n  so the . 
reading that is shown on the flowmeter is the hydrogen flow and carrier 
gas flow combined. 

f Turn the outer ring of the control valve completely clockwise and 
replace the protective cap. 

Note: This procedure must be repeated any time the line pressure is 
changed from 30 psig. 

valve on GC completely clockwise. 

3. ‘ 
- . - 4. 

5. 
Q B -  
C .  

6. 

7. 

8. 

9. 

Set air flow to 470 mL/min using the same procedure as in (2). 

Make sure 

Turn hydrogen on and allow the gas to purge’the dttector for 
approximately 60 seconds. 

is turned OE Heat Eb to at least 100’ C. - 
w 

Press the [Auto Zero] on the GC control panel until the FID Autozero 
Screen appears. Read the inital signal. 

Place the ignitor assembly on top of the F D  outlet cap until it glows. 

Hold the ignitor on top and slowly turn on the air until a slight “pop7’is 
heard. 

Remove the i,~tor and read the signal on the display. This signal should 
be more than the initial signal to let you know that the detector has been 
ignited. Further check by placing a wrench or smooth metal object over 
the FID outlet cap and look for condensaticln to develop. 

3.7 Setting Up Thermal Conductivitv Detector 

. .  
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1. Turn on the oven and detector heaters. Set detector to desired 
temperature. In this case, the temperature was set to 300° C. Wait for 
temperaure to stabilize. 

2. 

3. 

4. 

5. 

6. 

7. 

Open the detector cover to expose the canier.gas outlets and balancing 
potentiometer. 

Attach bubble flowmeter to the top of the analytical outlet (port closest to 
the front of the GC). 

Measure the column flow rate through the analytical channel. 

Disconnect the bubble flow meter and connect it to the reference outlet 
(port closest to the back of the GC). 

Measure the flow through the reference channel. 

Repeatedly adjust and measure the flow throush the channel until it is 
within S O %  of the analytical channel flow. This is done by using the TCD 
reference flow knob. 

Remove the b@le flowmeter and press [Status Escape] button on GC. 8. - 
* 

v 

9. 

10. 

11. 

12. 

Select a bridge current ranse using Table 3.1 and 3.2 

Press [Range][Rnnge] and type the appropriate range. Then press 
[ En't er] . 

Balance the bridge by the following steps. 

a. Press [Autozero] twice. 
b. Allow the system to stablilize for about 20 minutes. 
c. Open detector cover and locate the TCD Potentiometer (knob behind 

d. Adjust the potentiometer until the Autozero display reads between 0.0 

e. Wait for drifting to stop as indicated by a constant reading on the 

detector). 

and 20.0 mV. 

display. 

CIose Detector cover. 
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Table 3.1 
Bridge Current Rznge vs. Ma& Detector Operating Temperature 

Bridge Recommended Maximum 'Detector 
Current Operating Temperature 
Range 

U He or N2 Argon - 
U H2 

+ 4  u p  to DONOT DONOT 

- t3  u p  to DONOT DONOT 

52 u p  to u p  to DO NOT 

looo c USE 4 USE 4 

300" C USE 3 USE 3 

USE 2 350" C 110" c 
350' C 350" C 350" C 

+1 up to u p  to u p  to 

Table 3.2 
Correlation Between Bridge Current and Range 

* - - 
Bride Cjrrent Range: 

. (a)' Entry 
Off + O  
40 f l  
80 -L2 
120 f 3  
160 + 4  

* 
f . .  

r 
t 
T .  
L 
t a 
L 

I 

1 
t 
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