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Abstract: The path for water molecules transported across a membrane in real porous membranes 
has been considered to be a constant factor in the membrane distillation (MD) process (i.e., constant 
tortuosity); as such, its effect on membrane performance at various operating conditions has been 
ignored by researchers. Therefore, a simultaneous heat and mass transfer model throughout the 
direct contact membrane distillation (DCMD) module was developed in this study by taking into 
account the hypothetical path across the membrane as a variable factor within the operating 
conditions because it exhibits the changes to the mass transfer resistance across the membrane under 
the DCMD run. The DCMD process was described by the developed model using a system of 
nonlinear equations and solved numerically by MATLAB software. The performance of the poly-
tetra-fluoroethylene (PTFE) membrane was examined to treat 200 g/L NaCl saline at various 
operating conditions. The simulation results in the present work showed that the hypothetical 
proposed path across the membrane has a variable value and was affected by changing the feed 
temperature and feed concentration. The results estimated by the developed model showed an 
excellent conformity with the experimental results. The salt rejection remained high (greater than 
99.9%) in all cases. The temperature polarization coefficient for the DCMD ranged between 0.88 and 
0.967, and the gain output ratio (GOR) was 0.893. The maximum thermal efficiency of the system 
was 84.5%. 

Keywords: membrane distillation; modeling and simulation; tortuosity; flat sheet membrane; 
DCMD performance; PTFE 

 

1. Introduction 

Water found in lakes, rivers and reservoirs is considered easily accessible and occupies only one 
percent of the water on the Earth’s surface. The demand for potable water has progressively increased 
throughout the last two decades due to the rise in population growth [1,2]. For years, the scarcity of 
drinking water has been a global problem, prompting the research and development of desalination 
technologies to treat seawater. Desalination can be defined as a process in which saline water is split 
into two parts: (1) fresh water with a very low concentration of dissolved salts, and (2) brine, with a 
much higher concentration of dissolved salts [3–8]. Commercially, the desalination of saline water is 
achieved by either membrane or thermal methods. The thermal process typically involves the boiling 
or evaporation of saline water, after which the resultant distillate is collected. Multi-effect 
desalination (MED) and multistage flashing (MSF) are examples of the thermal desalination process. 
Membrane processes produce fresh water from saline water; for instance, reverse osmosis (RO) is 
considered a common membrane process based on the pressure driving force and it operates at a 
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high pressure. Membrane distillation (MD) conjoins the two processes and can be defined as a 
thermal membrane process resulting from the simultaneous mass and heat transfer phenomena 
across a hydrophobic microporous membrane [9]. In this technique, water vapor is separated from 
liquid saline by passing through the pores of hydrophobic membranes [10]. At each pore entrance, a 
liquid–vapor interface is created due to the membrane’s hydrophobic nature, which inhibits the 
liquid from penetrating the pores [11]. The driving force of MD is supplied by the vapor pressure 
difference generated by the temperature gradient imposed between the liquid–vapor interfaces [12].  

The ability of the membrane to operate at low feeding temperatures is considered the main 
advantage of membrane technology versus traditional distillation methods. However, MD is 
operated under low pressure in comparison to conventional membrane processes, such as RO [13,14]. 
MD can be operated with alternative energy sources, such as solar, wave or geothermal energy [15]. 
Membrane distillation has been applied in water desalination, wastewater treatment, food industries 
(e.g., milk and juice concentration), chemical and pharmaceutical industries, separation of isotropic 
mixtures, textile industries, medical applications, the nuclear industry and heavy metals and 
radioactive removal [16]. Generally, there are four types of MD configurations, classified depending 
on the method used to withdraw the vapor from the hot side of the membrane [17]: (1) direct contact 
membrane distillation (DCMD), which uses cold water to condense vapor directly at the permeate 
side and inside the membrane module [18]; (2) vacuum membrane distillation (VMD), which 
employs a vacuum pump at the permeate side to pull out the volatile molecules from the feed solution 
so that the water vapor condenses in the membrane unit or in a separate condenser [19]; (3) air gap 
membrane distillation (AGMD), which uses a stagnant air layer at the permeate side between the 
condensation surface and the membrane layer such that the vapor condenses within the membrane 
module [20]; and (4) sweeping gas membrane distillation (SGMD), which utilizes a chilly, inefficient 
gas to sweep the vapor molecules from the cold side, so that the condensation occurs in the outer 
membrane unit [21]. In addition, there are two hybrid configurations: thermostatic sweeping gas 
membrane distillation (TSGMD) and liquid gap membrane distillation (LGMD). TSGMD is a 
combination of AGMD and SGMD, created to overcome the problem of increasing temperature along 
the membrane, in which a cold surface is placed in the permeate side to increase the temperature 
difference across the membrane sides. In contrast, LGMD is a combination of DCMD and AGMD, 
which has been found to overcome the heat loss by conduction in DCMD [17,22]. MD has some 
disadvantages that determine its feasibility as an industrial separation technique because it creates 
the following barriers for commercial application: (1) low permeate flux in comparison with pressure-
based membrane processes; (2) membrane fouling, scaling and pore wetting, which are classified as 
technical challenges; and (3) trapped air within the membrane pores that leads to a further mass 
transfer resistance, which limits the MD permeate flux [21–23]. 

Many attempts for the theoretical studies of MD process appeared in the literature. The most 
important observation of these theoretical studies was based on the basic aspects of heat and mass 
transport, described in detail by Lawson and Lloyd [24]. The permeate flux prediction was the most 
important target in these studies and there were several reviews regarding this issue presented in 
literature [21,22,25]. In general, the theoretical approaches reported in the literature were took into 
account the fundamental considerations of the heat transfer resistance in all the parts of the MD 
module. The mass transfer resistance, especially inside the membrane, was also considered in the 
theoretical studies with various mass transfer mechanisms [22,25]. However, many assumptions had 
been proposed in the theoretical studies in order to simplify the complex behavior of the MD process. 
These assumptions were often related to the constant membrane characteristics (pore size, pore size 
distribution, porosity membrane thickness and tortuosity) during the MD process operation. All 
these membrane characteristics have a significant effect on the mass transfer resistance [24], but 
unfortunately due to the complex structure of the membrane, no systematic experimental studies 
were performed to show the change in the membrane characteristics during the operation. However, 
it is highly required to perform like these experimental studies. In the theoretical approach, due to 
the deviations between the theoretical and experimental results in MD process simulation, the 
tortuosity was often used as a tuning parameter for adjusting the prediction of the mathematical 
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model and enhancing its performance [26]. Theoretically, the tortuosity represents the considerations 
of mass transfer resistance and its value supposed extra resistance to the mass transfer than that given 
by membrane thickness and it could be added to adjust the theoretical simulation results with respect 
to the corresponding experimental results. However, in most theoretical studies to express the 
changing in membrane characteristics during operation, a constant value of tortuosity was used for 
all experiments at various operating conditions. This may be present some deviation between the 
theoretical and experimental results. For example, experimentally [Zhang, et. al., 2011] [27] reported 
that the compression of the membranes led to change in the membrane characteristics (reduced 
porosity, pore size and membrane thickness). 

In the present work, a simultaneous heat and mass transfer model for a DCMD system was 
developed using the MATLAB software to consider the extra mass transfer resistance that may not 
appear clearly during the MD operation which would be represented through the hypothetical path 
across the membrane(𝜑) , given byሾ𝜑 = 𝛿. 𝜏ሿ , where 𝛿  is the membrane thickness and 𝜏  is the 
tortuosity as a variable parameter with operating conditions (i.e., temperature and concentration). In 
fact, this parameter would be used to express on the variation of membrane characteristics during 
operation. An experimental study was conducted to evaluate the performance of the DCMD process 
and to compare it with the developed model. A high saline water feed of up to 200 g/L NaCl was 
used in this study at various operating conditions. 

2. Theoretical Model 

In the MD process, complex transport mechanisms occur simultaneously, which include mass 
and heat transfer. In this study, a model for the DCMD system was built up using a numerical, 
iterative technique to solve a series of nonlinear equations obtained from the mass and heat balances. 
Many assumptions were considered in this model, such as that the system operates under steady-
state conditions; the flow rate is laminar and in one direction (x direction) only; the lost heat from the 
system to the surroundings is neglected; along the water transporting path, the total pressure is 
assumed to be constant at 1 atm; the nonvolatile components in the feed solution (salt) are fully 
rejected due to the assumption that no wetting occurs within the membrane layer; the membrane has 
a uniform pore size (neglecting the pore size distribution); water vapor is transported across a 
tortuous path; and the air entrapped within the membrane pores is stationary so that water vapor 
can be diffused through it. Figure 1 shows a schematic diagram of the DCMD’s transport mechanism 
process. 

2.1. Mass Transfer 

The mass transfer in the membrane distillation process involves three steps. The first step 
includes evaporating the volatile molecules from the feed solution at the interface of the hot 
membrane side, while the second step is represented by transferring the vapor across the membrane 
pores. Then, the condensation takes place in the last step at the interface of the cold membrane side 
[26,28].  
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Figure 1. Schematic diagram of the transport mechanism of the direct contact membrane distillation 
(DCMD) process. 

The mass flux in DCMD is proportional to the vapor pressure gradient through the membrane 
and can be given by the following equation [25]: 𝐽 = 𝐷௘ ∆𝑃௠ = 𝐷௘൫𝑝௠,௙ − 𝑃௠,௣° ൯ (1) 

where 𝐽 is the permeate mass flux, De is the equivalent diffusion coefficient, and 𝑝௠,௙ and 𝑃௠,௣°  are 
the partial pressures of water at the feed and permeate sides of the membrane, respectively. The 
partial pressures are evaluated through the assumption of thermodynamic equilibrium at the 
membrane surfaces [24]. The partial pressure at the feed side is only affected by the salinity of sodium 
chloride and must be taken into consideration when calculating the pressure [29]: 𝑝௠,௙ = 𝑃௠,௙° 𝑋௪,௙𝑎௪,௙ (2) 𝑋௪,௙ is the water mole fraction in the feed.  𝑋ே௔஼௟ is the NaCl mole fraction in the feed; 𝑎௪,௙ is the water activity coefficient of the NaCl 
solution and can be estimated as follows: 𝑎௪,௙ = 1 − 0.5𝑋ே௔஼௟ − 10(𝑋ே௔஼௟)ଶ (3) 𝑃௠,௙°  and 𝑃௠,௉°  are the vapor pressure of the water evaluated via the Antoine equation at the 
membrane surface temperatures Tm,f  and Tm,p, respectively: 𝑃௠,௙° = 𝑒𝑥𝑝 ቆ23.1964 − 3816.44(𝑇௠,௙ −  46.13)ቇ (4) 
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𝑃௠,௣° = 𝑒𝑥𝑝 ቆ23.1964 − 3816.44(𝑇௠,௣ −  46.13)ቇ (5) 

There are three types of mechanisms that explain how gases and vapor are transported through 
porous media. These are the Knudsen model, molecular diffusion model and Poiseuille flow model. 
In DCMD, the Knudsen flow and molecular diffusion models are applicable. Inside the membrane 
module, both the feed and permeate solutions are kept under constant pressure (about 1.0 atm), so 
no trans-membrane hydrostatic pressure is applied. In this case, the Poiseuille flow is negligible [17]. 
The combined influence of the molecular and Knudsen diffusions was calculated using the ratio of 
the Knudsen diffusion to the molecular diffusion. This ratio determines the controlling mechanism 
in the mass transfer. The value of 𝛼 varies between 0 and 1 [30]: 𝐷௘ = ൤ 𝛼𝐷௄ + 1 − 𝛼𝐷ெ ൨ିଵ  (6) 𝐷௘, 𝐷௄, and 𝐷ெ are the effective, Knudsen, and molecular diffusion coefficients, respectively. 𝐷௄  and 𝐷ெ can be expressed as follows [31]: 

𝐷௄  =  ቈቆ 3 𝜑2 𝜀 𝑑௣௢௥௘ቇ ൬𝜋 𝑅௚ 𝑇௠8 𝑀௪௧ ൰଴.ହ቉ିଵ
 (7) 

𝐷ெ  = ൤ 𝑅௚ 𝑇௠ 𝑃 𝜑𝑀௪௧ 𝜀 𝑃𝐷ௐ஺൨ିଵ
 (8) 

where 𝜑  is the hypothesis path through the membrane, ε is the membrane porosity, 𝑅௚  is the 
universal gas constant, 𝑇௠ is the mean temperature across the membrane surfaces, 𝑑௣௢௥௘ is the pore 
diameter, 𝑀௪௧ is the molecular weight of the water molecules, P is the total pressure inside the pore 
(assumed to be constant and equal to the summation of the partial pressures of air and water), and 
DWA is the water diffusion coefficient in the air. The value of 𝑃𝐷ௐ஺  (Pa m2/s) for water–air is 
calculated using the following expression, which can be used in the temperature range of 273–373 K 
[32]. 𝑃𝐷ௐ஺ = 1.895 × 10ିହ 𝑇௠ଶ.଴଻ଶ (9) 𝑇௠ =  𝑇௠,௙ + 𝑇௠,௣2  (10) 

The hypothetical path through the membrane 𝜑 = 𝛿 𝜏 , where 𝛿  is the membrane thickness 
(often constant) and 𝜏 is the membrane tortuosity (also, often constant), which is often related to the 
membrane porosity (𝜀), such as in the Mackie–Meares equation [21,22]: τ = (2 −  𝜀)ଶ𝜀  (11) 

In the desalination process, after a particular amount of time, the concentration polarization 
affects the transfer due to the salt molecules accumulating on the membrane surface. The 
concentration polarization coefficient (Φ) can be defined as the ratio of the solute concentration on 
the feed membrane surface (𝐶௠,௙) to the concentration of the feed bulk (𝐶௕,௙):  Φ =  𝐶௠,௙𝐶௕,௙  (12) 

The concentration of the solute at the membrane surface is estimated by Martinez-Vazquez’s 
equation [25]: 𝐶௠,௙ = 𝐶௕,௙𝑒𝑥𝑝 ൬ 𝐽𝑘௦ 𝜌൰ (13) 

where 𝜌 is the density of the feed stream, and 𝑘௦ is the solute mass transfer coefficient: 
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𝑘௦ =  𝑆ℎ 𝐷௘𝐷௛  (14) 

where Sh is the Sherwood number, which is given by the Graetz–Leveque equation for laminar flow, 
and Dh is the hydraulic diameter of the hot channel: 𝐷௛  =  4 ( 𝑐𝑟𝑜𝑠𝑠 𝑠𝑒𝑐𝑡𝑖𝑜𝑛𝑎𝑙 𝑎𝑟𝑒𝑎)𝑤𝑒𝑡𝑡𝑒𝑑 𝑝𝑒𝑟𝑚𝑒𝑡𝑒𝑟  (15) 

𝑆ℎ = 1.86(𝑅𝑒 𝑆𝑐 𝐷௛𝐿 )ଵ ଷ ൗ  (16) 

where Re and Sc are the Reynolds and Schmidt numbers, respectively: 𝑅𝑒 =  𝜌 𝑢 𝐷௛ 𝜇  (17) 

𝑆𝑐 =  𝜇𝜌  𝐷௘ (18) 

L is the channel length; and ρ, u, and μ are the density, velocity, and viscosity of the fluid in the 
hot channel, respectively. 

2.2. Heat Transfer 

The heat transfer is carried out in three steps: 

2.2.1. Heat Transfer from the Feed Side to the Membrane Surface 

The heat transfer through the feed boundary layer occurs by convection and is governed by 
Newton's law of cooling [28]: 𝑄௙ =  ℎ௙ ( 𝑇௕,௙ −  𝑇௠,௙) (19) 

where 𝑄௙  is the convective heat flux (W/m2), 𝑇௕,௙ is the average feed bulk temperature of the inlet 
and outlet hot feed stream and ℎ௙  is the boundary layer heat transfer coefficient at the membrane 
feed side. The heat transfer coefficient is evaluated by empirical correlations in terms of 
dimensionless numbers (Nusselt, Reynolds, and Prandtl) [21,33]: ℎ௙  =  𝑁𝑢 𝑘𝐷௛  (20) 

where 𝑘 is the average thermal conductivity of the fluid at the membrane feed side, and Nu is the 
Nusselt number, which is given by the following expression in a laminar flow case: 𝑁𝑢 = 1.86 (𝑅𝑒 𝑃𝑟 𝐷௛𝐿 )ଵ/ଷ (21) 

where Pr is the Prandtl number: 𝑃𝑟 =  𝜇 𝐶௣𝑘  (22) 

2.2.2. Heat Transfer through the Membrane Layer 

The total heat flux across the membrane (𝑄௠) is the result of adding the conducted heat transfer 
through the membrane (𝑄஼) to the evaporative mass flux (𝑄௩) through the membrane pores [34]: 𝑄஼ = 𝑘௠𝛿 ൫𝑇௠,௙ − 𝑇௠,௣൯ (23) 𝑄௩ = 𝐽 𝛥𝐻௩ (24) 
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where 𝑘௠  is the effective thermal conductivity of the membrane that consists of the thermal 
conductivity of gas (air and water vapor) 𝑘௚ and membrane solid 𝑘௦ and can be calculated by the 
following equation:  

𝑘௠ ୀ  ቈ 𝜀𝑘௚ + 1 − 𝜀𝑘௦ ቉ିଵ
 (25) 

where 𝛿 is the membrane thickness, and 𝛥𝐻௩ is the enthalpy of water vaporization, which can be 
estimated using the following: 𝛥𝐻௩ = 1.7535 𝑇௠,௙ +  2024.3 (26) 

Thereby, the total heat transfer across the membrane is: 𝑄௠ =  𝑄஼  +  𝑄௩  (27) Q୫ = k୫δ ൫𝑇௠,௙ − 𝑇௠,௣൯ + 𝐽 𝛥𝐻௩ (28) 

2.2.3. Heat Transfer from the Membrane Surface to the Permeate Stream 

The heat transfer across the boundary layer from the membrane surface at the permeate side to 
the permeate bulk takes place by convection: 𝑄௣ =  ℎ௣ ൫ 𝑇௠,௣ −  𝑇௕,௣൯ (29) 

where 𝑇௕,௣ is the average permeate bulk temperature of the inlet and outlet cold permeate stream and 
hp is the boundary layer heat transfer coefficient at the permeate side, which can be estimated in a 
similar way to that at the feed side. 

The feed membrane interface temperature (𝑇௠,௙) and permeate membrane interface temperature 
(𝑇௠,௣) are considered to be unknowns in the MD process; they can be estimated during a steady state. 
At a steady state, the overall heat transfer through the DCMD system is expressed as shown below: 𝑄௙ = 𝑄௠ = 𝑄௣ (30) 

Combining and manipulating Equations (17), (28), and (29) leads to the following [35]: 

𝑇௠,௙ୀ  𝑘௠ ൬𝑇௕,௣ + ℎ௙ℎ௣  𝑇௕,௙൰ + 𝛿൫ℎ௙ 𝑇௕,௙ −  𝐽 𝛥𝐻௩൯ (𝑘௠) + ℎ௙ ൬𝛿 + 𝑘௠ℎ௣ ൰   (31) 

𝑇௠,௣ =  𝑘௠ ൬𝑇௕,௙ +  ℎ௣ℎ௙  𝑇௕,௣൰ + 𝛿൫ℎ௣ 𝑇௕,௣ +  𝐽 𝛥𝐻௩൯ (𝑘௠) + ℎ௣ ൬𝛿 + 𝑘௠ℎ௙ ൰  (32) 

Figure 2. shows the programming steps of the proposed model algorithm using the MATLAB 
software. 
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Figure 2. Algorithm of the proposed model. 

3. Materials and Methods 

3.1. Membrane and Membrane Module 

A commercial poly-tetra-fluoroethylene (PTFE) flat sheet membrane (Chmlab group 08205 
Barcelona, Spain) was used in this study. The membrane had a 96-µm thickness, 0.22-µm average 
pore size, 78% average porosity, 1.27 nm roughness and a 114˚ contact angle. The membrane module 
was designed and constructed in Italy (Delta Company, Cosanza, Rende, Italy) and its effective area 
was 16 cm2. The module was made of silicon and had good resistance to heat transfer and NaCl 
solution corrosion. The simulated salt solution was prepared by using NaCl of ≥ 99 % purity by Redi-
Dri is a trademark of Sigma-Aldrich (Germany).  

3.2. Experimental Setup and Procedure 

The DCMD system module and its connections were set up and well insulated to minimize the 
heat loss into the surrounding environment. The temperatures of the four streams were recorded by 
four thermometers at the membrane module input and output of both the warm and cold channels. 
The experiments were conducted using a saline solution that was prepared in the laboratory with 
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various NaCl concentrations (i.e., 0, 15, 35, 70, 100 and 200 g/L). The hot feed and coolant for the 
DCMD were circulated in a countercurrent flow. Experiments were accomplished using different 
feed temperatures: 45, 50, 55, 60 and 65˚C. The feed flow rate was investigated at various levels from 
0.3 to 1.07 L/min, while the permeate flow rate was maintained constant for all the tests. The diagram 
of the experimental DCMD setup is shown schematically in Figure 3. 

 
Figure 3. Schematic diagram of the experimental rig of the DCMD process. 

The experimental permeate flux was estimated by 𝐽 =  𝑀/(𝐴. 𝑡), where 𝐽 is the mass flux of 
permeate (kg/m2.h), 𝑀 = 𝜌 × 𝑉 is the permeate mass (kg), 𝐴 = 𝑊 × 𝐿 is the effective area of the 
membrane (m2), 𝑡 is the experiment time of the water permeate volume accumulation (h), 𝜌 is the 
density of water (kg/l), 𝑉 is the fresh permeate volume (l), and 𝑊 and 𝐿 are the effective membrane 
width (m) and length (m), respectively. 

4. Results and Discussion 

The operational conditions had a significant effect on the performance of the DCMD process. 
Many experiments were conducted to study the effect of the operating parameters on the permeate 
flux. In this work, three parameters were examined: feed temperature, feed flow rate and feed 
solution concentration. In contrast, the temperature and flow rate at the permeate side were held 
constant. 

4.1. Effect of Hot Feed Temperature 

Figure 4 shows the impact of the hot feed temperature on the distillate production at different 
concentrations. The temperature was investigated in the range of 45–65˚C, at 5˚C intervals, in relation 
to the feed concentrations of 0, 15, 35 and 100 g/L; whereas, the feed flow rate was fixed at 1.07 L/min. 
For all the salt concentrations, the permeate flux increased under increasing temperature; this 
phenomenon can be understood as increasing the driving force (vapor pressure) as a result of the 
temperature increase. The partial vapor pressure was exponentially related to the temperature, as 
described by the Antoine equation. In addition, raising the temperature led to an increase in the 
kinetic energy of the liquid molecules to overcome the liquid phase intermolecular forces, which was 
followed by evaporation. This kinetic energy was proportional to the temperature of the molecules, 
so the evaporation was more rapid at higher temperatures. 

The effect of the feed temperature on the permeate conductivity and salt rejection for the solution 
of 35 g/L NaCl is shown in Figure 5. The permeate conductivity increased slightly by increasing the 
feed temperature. This behavior could be explained because the temperature has a minor effect on 
the membrane pore wetting process. The permeate conductivity ranged from 8–12 µS/cm, with a salt 
rejection of about 99.98%. The high salt rejection, as shown in Figure 5 for seawater desalination, 
indicates the high desalination performance of the DCMD system. 
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Figure 4. Influence of the hot feed temperature on the permeate flux at various concentrations and a 
feed flow rate of 1.07 L/min. 

 

Figure 5. Impact of the feed temperature on the permeate conductivity and the salt rejection for the 
feed solution of 35 g/L and the feed flow rate of 1.07 L/min. 

4.2. Effect of Feed Concentration 

Figure 6 shows the effect of the feed concentration on the permeation flux. The experiments were 
carried out at various feed concentrations (i.e., 0, 15, 35, 70, 100 and 200 g/L NaCl) and feed flow rates 
(i.e., 0.3, 0.7 and 1.07 L/min), while the feed temperature remained constant at 60 ̊ C. The results show 
that the permeate flux decreased by 23.28%, while the feed salt concentration increased from 0 to 35 
g/L. Moreover, the permeate flux decreased by about 24.91% and 32% by increasing the salt 
concentration from 35 to 100 and from 100 to 200 g/L, respectively. The permeate flux decreased with 
increasing feed concentration. This reduction can be attributed to the effect of concentration 
polarization, where the accumulated salt molecules on the membrane surface obstructed the vapor 
motion, resulting in additional resistance against the mass transfer. In addition, the higher 
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concentration of saline enhanced the boiling point because the NaCl molecules formed hydrogen 
bonds with the water molecules. These molecules required additional kinetic energy to create enough 
movement to break their hydrogen bonds and convert the water from liquid into vapor. 

 

Figure 6. Effect of the feed concentration on the permeation flux at 60 °C feed temperature. 

Figure 7 shows the impact of the saline feed concentrations on the salt rejection at a constant hot 
feed temperature and flow rate. The permeate conductivity increased and the salt rejection slightly 
decreased when the concentration of the inlet solution increased. The increase in the permeate 
conductivity can be attributed to a slight decrease in the liquid entry pressure (LEP) in the presence 
of a high concentration of inorganic salts. This caused a slight decrease in the surface tension of the 
feed solution, in direct proportion to the value of the LEP, as shown in the following Laplace (Cantor) 
equation: 𝐿𝐸𝑃 = − 2𝐵𝛾௦௢௟ 𝑟௠௔௫  𝐶𝑜𝑠𝜃 (33) 

where B is a geometric factor, 𝛾௦௢௟ is the surface tension of the solution, 𝜃  is the contact angle 
between the solution and the membrane surface (which depends on the hydrophobicity of the 
membrane), and 𝑟௠௔௫ is the largest pore size. However, the percentage of salt rejection remained at 
99.97%, even when the highest feed concentration (200 g/L) was used. 
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Figure 7. Impact of the NaCl concentration on the conductivity and salt rejection at 60 °C feed 
temperature and a feed flow rate of 1.07 L/min. 

4.3. Effect of the Feed Flow Rate  

Figure 8 presents the influence of the feed flow rate, ranging from 0.3 to 1.07 L/min, on the 
permeation flux at various temperatures (i.e., 45, 55 and 65 ˚C), with a constant salt concentration in 
the feed. As shown in the figure, the permeate flux increased approximately linearly when increasing 
the feed flow rate. The increase in the flux became noticeable when both the feed flow rate and 
temperature were increased simultaneously. When the feed flow rate increased from 0.3 to 1.07 
L/min, the flux increased by 46.62% and 67.1% at feed temperatures of 55 ˚C and 65 ˚C, respectively. 
The feed high flow enhanced the fluid mixing and reduced the temperature and the concentration 
boundary layers. Hence, the membrane surface temperatures converged with those of the bulk 
streams. Thus, the temperature difference across the membrane sides increased and resulted in an 
improved permeate flux. 
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Figure 8. Effect of the feed flow rate on the permeate flux at different feed temperatures and a feed 
concentration of 35 g/L NaCl. 

4.4. Theoretical Results 

The proposed mathematical model was validated by comparing its simulated results with the 
experimental data. Figure 9 illustrates the comparison between the predicted model and the 
experimental data of 15 and 35 g/L NaCl solutions at τ = 1.9082, which was calculated using Eq. (11), 
with a PTFE membrane porosity of 78%. This figure shows that there is a large deviation between the 
theoretical and experimental results for both feed concentrations. The suggested hypothesis 
attributed that result to the variation of the membrane characteristics under the run and the 
hypothetical path (𝜑) for the water molecules transported across the membrane which expressed to 
the mass transfer resistance as shown in equations (1, 6, 7 and 8). This problem had been detected by 
previous researchers when using the tortuosity factor (τ) and actually the change in mass transfer 
resistance was the main reason for the present tortuosity in these studies; unfortunately, there was 
no direct practical way to precisely measure the membrane tortuosity and also other membrane 
characteristics under the DCMD process run.  

 

Figure 9. Influence of the feed temperature on the permeation flux at a feed concentration of 15 and 
35 g/L NaCl at a feed flow rate of 1.07 L/min with τ = 1.9082. 

In the literature, different ways were found for evaluating tortuosity of which a value of 𝜏 = 2 
was frequently assumed in order to predict the permeation flux [25,36]. Sometimes it was calculated 
using various correlations of the tortuosity related with the porosity such as the two well known 
equations 𝜏 = 1/𝜖 or 𝜏 = (2 − 𝜖)ଶ/𝜖 (Eq. 11) [21,22] to evaluate the value of tortuosity. However, 
other authors assumed values of tortuosity [24,26,37] in order to make the simulation results be more 
fitting with the experimental results and were often out of the range of these two well known 
equations for example Jeong, S. et al., 2014 [37] assumed a tortuosity of 4.2, 6.6 and 10.1 for three 
different PTFE membranes of 66.8%, 72.6% and 72.8% porosity respectively. While, respectively, the 
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estimated values were 1.497, 1.378 and 1.374 when using the 𝜏 = 1/𝜖 equation and 2.656, 2.236 and 
2.223 when using Eq. (11)𝜏 = (2 − 𝜖)ଶ/𝜖. 

In the current study, it was found that the hypothetical path (𝜑) depended upon the operating 
conditions. To confirm our hypothesis, various values of the hypothetical path were used in this 
work. However, it was found based on the simulated results (shown in Figures 10 and 11), that the 
hypothetical path had a significant effect on the performance and results of the developed model. It 
was found that there was a significant enhancement in the model’s simulated results (the predicted 
permeation flux), with slight changes in the hypothetical path values, depending upon the operating 
conditions. In the present study, as illustrated in Figures 10 and 11, the mathematical model indicated 
that the hypothetical path across the membrane varied with the operating conditions (i.e., feed 
temperature and concentration). The hypothetical path increased with increasing feed temperature 
and concentration. Moreover, as shown in Figures 10 and 11, no specific value could be used to get a 
good agreement with the various operating conditions; however, different values could be used 
depending upon the specific operating conditions so that the simulated results could provide the best 
agreement with the obtained experimental data. This behavior may be attributed to the expansion in 
the membrane material with increasing temperature (Figure 10). Additionally, increasing the feed 
concentration caused a thin layer to form on the membrane surface due to salt molecules accumulated 
on the membrane surface when the water evaporated, which was responsible for the concentration 
polarization phenomenon. This adds more resistance to the water transfer across the membrane and 
tends to cover an effective area of the membrane, which then retards the evaporation process [31]. 
Thus, the hypothetical path value increased to express the extra mass transfer resistance that attached 
to the membrane (Figure 11). 

In water desalination via DCMD process, the scaling growth due to crystal formation is a 
common phenomenon, even for low initial feed salt concentrations. During a continuous operation 
of the DCMD process, there will always be situations where membrane fouling will have a higher 
potential to occur. However, the knowledge of the mechanism and reasons why fouling occurs on 
the hydrophobic membrane surface is limited [38]. The permeate flux and salt rejection tended to 
decrease with increasing initial feed concentration as shown in Figures (Figures 6 and 7) and the scale 
formation fouling resulted in the growth of crystals on the membrane surface, especially in the case 
of treated solutions with high salt concentrations [36,38]. Unwanted layers possibly formed on the 
surface and pores of the membrane increase the risk of the plugging of the pore entrances and pore 
wetting causing the production and quality decline of DCMD, since it is leading to partial membrane 
wetting [36,38]. 

Both the temperature and concentration could affect the membrane characteristics under the MD 
run. The effect of temperature is in terms of membrane swelling or shrinking, while the effect of 
concentration is in terms of changing the pore size, pore size distribution and porosity as fouling 
induces the plugging of many membrane pores and the reduction in the porosity of the membrane 
surface when faced with feed [36,38]. Therefore, due to the relationship between the tortuosity and 
porosity (Eq. 11), the hypothetical membrane path (𝜑) could be altered during operation. Thus, in 
order to integrate all the changes in membrane characteristics that could occur under the DCMD 
process run, tortuosity would be used to express all these expected changes.  

In the present work, the hypothetical membrane path (𝜑) based on the tortuosity given by 
Equation (11) was improved by relating the effect of temperature and concentration proposed here 
to be used theoretically to express the expected variation of the mass transfer resistance that arises 
during operations on the DCMD process as follows:  𝜑 = 𝛿 ቈ(2 −  𝜀)ଶ𝜀 + 0.038762𝑇 + 0.01107𝐶 − 0.9046቉ (34) 

where T is the feed temperature in ˚C, and C is the feed concentration in g/L. 
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Figure 10. Effect of the feed temperature on the permeate flux at various tortuosity levels predicted 
by the model with the experimental data at a feed concentration of 35 g/L NaCl and a feed flow rate 
of 1.07 L/min. 

 
Figure 11. Effect of the feed concentration on the permeate fluxes at various tortuosity levels predicted 
by the model with the experimental data at a feed temperature of 60 °C and a feed flow rate of 1.07 
L/min. 

Figures 12 and 13 show the effect of the feed temperature and concentration on the experimental 
and theoretical fluxes at various membrane hypothetical paths (tortuosity). There was a significant 
enhancement in the simulated results compared with the experimental data, and a good agreement 
was obtained, as shown in the aforementioned figures.  
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Figure 12. Influence of the feed temperature on the permeation flux at a feed concentration of 15 and 
35 g/L NaCl at a feed flow rate of 1.07 L/min. 

 

Figure 13. Effect of the feed concentration on the permeate flux at a feed concentration of 60 °C and a 
feed flow rate of 1.07 L/min. 

4.5. Verification of the Mathematical Model with Previous Works  

The predicted results of the mathematical model were compared with the experimental data, 
considering various membrane specifications and operating conditions from the literature [39,40]. 
Wen Cheng et al. [39] used a flat sheet PTFE membrane, feed flow rate (0.6–0.9 L/min), feed 
concentration (0–10 wt.% of NaCl), and feed temperature (40–50 °C); while the permeate side 
temperature remained constant at 20 °C. Similarly, Seo et al. [40] used a hydrophobic microporous 
polyvinylidene fluoride (PVDF) flat sheet membrane, feed temperature (40–60 °C), constant flow rate 
at the feed and permeate sides (0.5 L/min), and feed concentration (32 g/L). Figure 14 shows the effect 
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of the feed temperature on the permeation flux, where a feed solution with 10 wt% NaCl and 0.75 
L/min flow rate was used for the Wen Cheng et al. data [39], and 32 g/L feed concentration and 0.5 
L/min flow rate for the Seo et al. data [40]. Figure 14 illustrates that there is a good agreement between 
the simulated and experimental results using different hypothetical paths, depending upon the 
operating conditions. 

 

 
Figure 14. Present model results simulating the experimental data of other studies [39,40]. 

Figure 15 illustrates the performance of the model predictions against all the experimental data 
(present and previous). This figure demonstrates that the model results were somewhat 
overestimated and can be attributed to the heat loss in the practical implementation, which reduces 
both the generated vapor and permeate flux. Generally, as shown in Figure 15, the error of the 
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simulated results was within ±5%, with all the experimental data using the hypothetical path 
prediction. 

 
Figure 15. Model prediction results against the experimental data of the permeate flux. 

4.6. Thermal Efficiency 

The thermal efficiency (𝜂) in the MD process can be described as the ratio of the latent heat of 
vaporization to the total heat (latent and conduction). Approximately 50–80% of the total heat flux 
across the membrane was considered to be latent heat, while 20–40% of the heat was lost by 
conduction [22]. The thermal efficiency can be enhanced by increasing the feed temperature, 
membrane thickness and feed flow rate. In contrast, the thermal efficiency decreases with the 
increasing feed concentration [41]. For the DCMD process, the thermal efficiency is given as follows: 𝜂 =  𝐽 𝛥𝐻௩ቀ𝑘௠𝛿 ቁ ൫𝑇௠,௙ − 𝑇௠,௣൯ +  𝐽 𝛥𝐻௩ (35) 

The thermal efficiency of the DCMD process was evaluated by the proposed theoretical model. 
As shown in Figure 16, the feed temperature had a significant effect on the thermal efficiency, so 
increasing the feed temperature led to increasing the process thermal efficiency. This can be 
attributed to the fact that at high temperatures, the amount of heat lost by conduction becomes 
smaller than the vaporization heat, which is directly proportional to the thermal efficiency. In 
contrast, heat conduction is inversely proportional to the thermal efficiency, according to Eq. 35. 
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Figure 16. Thermal efficiency, the gain output ration (GOR) and the thermal polarization coefficient 
(TPC) of the DCMD system at various feed temperatures, 15 g/L NaCl and a feed flow rate of 1.07 
L/min. 

4.7. Gain Output Ratio (𝐺𝑂𝑅) 

The gain output ration (𝐺𝑂𝑅) is another useful parameter in MD, particularly when involving 
heat recovery. The 𝐺𝑂𝑅 can be defined as the ratio of the heat associated with the vapor transfer to 
the total input heat in the MD process. In fact, 𝐺𝑂𝑅 is an indicator providing information on how 
much of the supplied thermal energy is usefully employed to produce the permeate [42,43]. For any 
MD system, the 𝐺𝑂𝑅 can be evaluated by the following equation: 𝐺𝑂𝑅 =  𝐽 𝛥𝐻௩ 𝐴 𝑄௜௡  (36) 

where 𝐴 is the effective area of the membrane and 𝑄௜௡ is the total heat consumed by the system, 
which is given by the following equation:  𝑄௜௡ = 𝑚௙ 𝐶௣(𝑇௕,௙,௜௡ − 𝑇௕,௙,௢௨௧) (37) 

where 𝑚௙ and 𝐶௣ are the mass flow rate and specific heat capacity of the feed solution, respectively, 
and 𝑇௕,௙,௜௡  and 𝑇௕,௙,௢௨௧  are the inlet and outlet hot feed temperatures, respectively. 

Figure 16 shows the relationship between the feed temperature and the gain output ratio. The 
GOR value increased as the feed temperature increased. This increase in the partial pressure 
difference led to a higher mass flux, which was directly proportional to the value of the GOR, 
according to the above equation. 

4.8. Temperature Polarization Coefficient (𝑇𝑃𝐶) 

The temperature or thermal polarization coefficient (𝑇𝑃𝐶 ) is used to describe the thermal 
efficiency of a process. It is defined as the ratio of the temperature difference at the membrane surface 
to the corresponding temperature difference in the bulk [42,43]: 𝑇𝑃𝐶 = 𝑇௠,௙ ି ೘்,೛𝑇௕,௙ −  𝑇௕,௣ (38) 

The value of the 𝑇𝑃𝐶 was between 0 and 1, where the higher the 𝑇𝑃𝐶 value, the lower the 
temperature polarization effect. Figure 16 shows the inverse relationship between the feed 
temperature and the value of the 𝑇𝑃𝐶. As a result of the feed temperature increasing, the value of 
the 𝑇𝑃𝐶 varied significantly. 

Table 1 shows a comparison between the membranes’ performance predicted by the present 
work with the performance of the selected values of membranes from the literature. The most 
important operating conditions such as feed temperature, feed concentration and feed flow rate were 
also given in Table 1. It can be seen that the predicted membranes performance by the presented 
model has a reasonable permeation flux with good agreement in comparison with most membranes’ 
permeation flux found in the literature. 

Table 1. Comparison between the performances of the predicted model in this study with various 
membranes found in the literature. 

Membrane* 
Feed Temp. 

(˚C) 
Feed Conc. 

(g/L) 

Feed Flow 
rate 

(L/min) 

Exp. Flux 
(kg/m2·h) Ref. 

PVDF 50 35 0.6 21 [32] 
M4-2(PDMS) 70 35 1 43 [44] 

PTFE 40–90 4.65 0.14–100 55–72 [45] 
PVDF 80 0.45 6 51.5 [46] 
PTFE 130 10 0.5 195 [47] 
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PTFE-CNTs 70 34 - 69 [48] 
PP 40–60 - 0.5–1.7 5–25 [49] 

PVDF-HFP/SiNPs 80 35 1.166 48.6 [50] 
PP 85–90 10–100 25 60–79 [51] 

PTFE 60 Seawater 4.5 45.5 [52] 
PTFE+TiO2NF 50–80 0–100 - 7–12.2 [53] 

PTFE 38 Various 11–22 2–5 [54] 

PTFE 70 35 Re = 500–
1500 47.8–86.8 [55] 

PTFE-PP 60 30 0.04 12.2 [56] 
PVDF-PTFE 

+PET+CS-PEO 
60 20 0.5 19 [57] 

PTFE 45–65 0–200 0.3–1.07 
Predicted flux 

5.1–17.3 
Present 
work 

* PVDF: polyvinylidene difluoride; PDMS: polydimethylsiloxane; CNTs: carbon Nanotubes; PP: 
polypropylene; PVDF-HFP/SiNPs: poly(vinylidene fluoride-co-hexafluropropylene)/Silica 
nanoparticles; F-TNF: Fluorinated Titania; PET: polyethylene support layer; CS-PEO: chitosan-
polyethylene oxide. 

5. Conclusions 

An experimental and simulation study of a flat sheet configuration DCMD was presented. The 
developed model of the DCMD process took into account the membrane characteristics, operating 
conditions and module dimensions. The effect of the feed temperature, flow rate and concentration 
on the permeate flux were studied experimentally and theoretically by the present model. The 
validation of the model was obtained by comparing it with the experimental results of this study and 
other results from the literature, where a good agreement was found. The feed temperature and flow 
rate had a positive effect on the permeation flux across the membrane, while the feed concentration 
affected it negatively. The simulation results showed that the value of the hypothetical path of the 
water molecules transported across the membrane (which expressed the appearance of extra mass 
transfer resistance) varied based on the feed temperature and concentration, where the value of the 
hypothetical path increased as the feed temperature and concentration increased. A high salt rejection 
was attained (about 99.98%) for the PTFE membrane, even when a 200 g/L feed concentration was 
used. The DCMD thermal efficiency increased as the feed temperature increased, while the 
temperature polarization coefficient of the DCMD system significantly declined as the feed 
temperature increased. The gain output ratio for the DCMD system increased significantly with the 
increasing feed temperatures. The temperature polarization coefficient for the DCMD was between 
0.88 and 0.94. 

Nomenclatures\Capital letters 
A Effective Surface Area (m2) 𝐵 Geometric factor 
C Concentration (g·mol/m3) or (g/L) 𝐶௣ Specific heat capacity (J/kg·K) 𝐷௘  Equivalent diffusion coefficient (kg/Pa·m2·s) 𝐷௛ Hydraulic diameter (m) 𝐷௄  Knudsen diffusion coefficient (kg/Pa·m2·s) 𝐷ெ  Molecular diffusion coefficient (kg/Pa·m2·s) 𝐷ௐ஺ Water–air diffusivity (m2/s) 𝐺𝑂𝑅 Gain output ration 𝐽 Permeate mass flux (kg/m2·s) or (kg/m2·h) 
L Effective membrane length (m) 𝐿𝐸𝑃 Liquid entrance pressure (Pa) 
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𝑀 Permeate mass (kg) 𝑀௪௧ Molecular weight (g/g·mol) 𝑄 Heat flux (W/m2) 𝑃 Pressure (Pa) 𝑃° Vapor pressure (Pa) 𝑅௚ Universal gas constant (8.314 J/g·mol·K) 
T Temperature (˚C or K) 𝑇௠ Mean temperature (˚C or K) 
W Effective membrane width (m)  

Lower case letters 𝒅𝒑𝒐𝒓𝒆 Pore Size (diameter) (m) 
h Heat transfer coefficient (W/m2 K) 
k Thermal conductivity (W/m·K) 𝑘௦ Solute mass transfer coefficient (m/s) 
m Mass flow rate (kg/s) 𝑝 Partial pressure (Pa) 𝑟௠௔௫ Maximum pore radius (m) 
t Experiment time 
u Velocity (m/s) 𝑋 Mole fraction 

Greek letters ∆H Latent Heat of Vaporization (kJ/kg) 𝑎 Activity coefficient  𝛾 Surface tension (N/m) 𝛿 Membrane thickness (m) 
ε Porosity  𝜂 Thermal efficiency 𝜃 Contact angle (˚) 
μ Viscosity (Pa·s) 
ρ density (kg/m3) 𝜑 Hypothesis path through the membrane (m) 𝜏 Tortuosity Φ Concentration polarization coefficient 

Subscripts 
b At the Bulk 
C Conducted 𝑓 Feed side 
g Gas 
K Knudson diffusion 
M Molecular diffusion 𝑚 Membrane   𝑝 Permeate side 
s Membrane solid 

sol Solution 
v Evaporative 
w Water 

Dimensionless numbers 𝑵𝒖 Nusselt No. 
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𝑃𝑟 Prandtl No. 𝑅𝑒 Reynolds No. 𝑆𝑐 Schmidt No. 𝑆ℎ Sherwood No. 
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