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ABSTRACT: The implementation of ethane oxidative dehydrogenation (ODH) toward ethylene production in two different
reactor configurations is studied here by means of a mathematical model of the reactors. A conventional liquid-cooled multitubular
reactor and a multitubular membrane reactor are considered for comparison. Both reactor designs use a Ni-Nb-O catalyst
washcoated over raschig-rings inside the tubes; molten salts flow in the shell side of the conventional reactor whereas pure oxygen is
assumed for the shell of the membrane reactor. Industrial-scale ethylene production is the aim. Results show that the variation of the
bed density (different thickness of the catalytic washcoat over the pellets) shows opposite effects on both reactor designs. For the
conventional reactor, the increase in bed density leads to more pronounced hot spots as well as to an undesired oxygen depletion
inside the tubes. Conversely, for the membrane reactor, higher bed densities prevent oxygen accumulation along the tube length
leading to lower oxygen partial pressures and, consequently, higher selectivities. In this way, higher ethylene production rates are
feasible. Although molten salts provides enhanced heat removal, the oxygen injection at only the tube mouth in the conventional
reactor leads to lower global selectivities and higher heat generation rates. In the membrane reactor design, the heat generation rate
proves to be efficiently controlled by the permeation flow of oxygen through the membrane.

1. INTRODUCTION

Catalytic oxidative dehydrogenation (ODH) of ethane to
ethylene is considered nowadays the most attractive alternative
route to the classical industrial process of thermal steam
cracking.1,2 Catalytic ethane ODH is exothermic and not equi-
librium-limited. When operated over a suitable catalyst, relatively
low reaction temperatures are feasible. The reactions proceed via
a triangular series/parallel scheme with the undesired complete
combustions of both ethane and ethylene. The system of
reactions is represented by eqs 1-3:

C2H6 þ 1
2
O2 f C2H4 þH2O ΔH1 ¼-105

kJ
mol

ð1Þ

C2H6 þ 7
2
O2 f 2CO2 þ 3H2O ΔH2 ¼-1428

kJ
mol

ð2Þ

C2H4 þ 3O2 f 2CO2 þ 2H2O ΔH3 ¼-1323
kJ
mol

ð3Þ

In the ethaneODHprocess, the yield of ethylene is limited by the
total oxidation reactions, namely, the parallel ethane combustion
and the in-series ethylene combustion, both forming carbon
dioxide. As seen in eqs 2 and 3, total oxidation reactions generate
a large amount of heat that can cause a runaway of the reactor and
even explosions. At present, intensive research is being carried
out to develop both adequate reactor technologies for an
effective and safe plant operation2 and active and selective
catalyst formulations.3-7 As mentioned elsewhere,8-10 for such

exothermic processes, the control of the reaction temperature
appears as a key factor to maintain a good selectivity level. The
reactor choice and design therefore become outstandingly im-
portant. Industry makes extensive use of multitubular reactors to
conduct these exothermic processes, with the aim of efficiently
removing the generated heat from the catalyst bed. Thousands of
tubes of small diameter are employed in order to minimize
thermal radial gradients and enhance the ratio between the heat-
exchange area and the reaction volume. The bundle of tubes is
immersed in a shell through which a proper coolant flows.8 Lopez
et al.11 reported simulation studies of a multitubular ethane-to-
ethylene ODH reactor. Results suggested that the reactor
operation would be feasible, provided that high heat transfer
area per unit volume and low oxygen concentrations along the
tube are maintained. This last consideration proved to be a key
factor to achieve adequate selectivity levels leading to high
ethylene productions. A two-bed design with the possibility of
splitting the oxygen fed between the reactor mouth and an
intermediate position was also analyzed, proving a performance
enhancement due to the selectivity increase.

An attractive alternative to fixed-bed reactors when a distrib-
uted feed is required is the use of a membrane reactor. When
applied to the ethane ODH, oxygen can be axially injected in the
reaction media leading to lower oxygen partial pressures in the
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catalyst bed and higher selectivity. The oxygen distribution also
allows better heat management, as it leads to a diminution of the
local reaction rates and, consequently, of the rate of heat
generation.12-14 The advantages of the application of membrane
reactors onODH at lab scale have been reported for ethane,12,13,15

propane,16,17 and butane,18,19 and literature reviews have also
addressed the interest and progress in this field.20-25 Rodríguez
et al.26,27 reported simulation studies of a multitubular membrane
reactor for industrial-scale ethylene production from ethaneODH.
Inorganic porous membrane tubes were proposed for the oxygen
distribution from themain oxygen stream flowing on the shell side.
The membrane tubes were assumed to be packed with catalyst
particles. The ODH membrane reactor proved appropriate to
reach significant ethylene productions per tube and mild axial
temperature profiles. Operating conditions had to be carefully
adjusted to avoid undesired oxygen accumulation inside the tubes.

This contribution compares the performance of two different
designs of multitubular reactors for the ODH of ethane to
ethylene, namely, the conventional reactor (CR) and the mem-
brane reactor (MR). As shown in Figure 1, in the CR the oxygen
injection is performed at the tube mouth whereas in the MR the
oxygen injection occurs along the tube wall. Both reactor designs
are comparatively analyzed and adjusted individually to reach
higher ethylene production rates. The performance of a mixed
design comprising oxygen feed at both the tube mouth and the
tube wall is also addressed.

2. MATHEMATICAL MODEL

A one-dimensional, pseudohomogeneous, steady-state model
has been used to represent the ODH of ethane in both multi-
tubular reactors (CR and MR). On the basis of the operation
with high total flow rates through the catalyst bed, axial mass and
energy dispersions as well as external transport limitations were
assumed to be negligible. The use of tubes of small diameter (1
in.) supports the assumption of relatively flat composition and
temperature radial profiles. Heat losses from the shell to the
environment were neglected. The friction factor f proposed by
Ergun was adopted to predict the pressure drop inside the tubes.
The catalyst particles were assumed to be washcoated hollow
cylinders (Raschig-ring type) of 6 � 6 � 2 mm in order to
diminish the pressure drop along the reactor length. A bed void
fraction of 0.48 was considered in the simulations, in agreement

with the literature.28 The washcoat covering the rings, where the
active components are impregnated, was assumed to have amean
thickness of ∼180 μm. Internal mass and energy transport
limitations were also neglected due to the low thickness of
the washcoat. The use of washcoated particles results in low
bed densities when compared to classic values in fixed-bed
reactors, favoring the moderation of the heat generation rate
per unit volume and, consequently, achieving milder operating
conditions.

The allowable maximum temperature (Tmall) adopted in the
simulations was 425 �C according to catalyst activity tests.6 An
inert ceramic porous membrane was selected for this study as
high permeation fluxes are needed, which cannot be provided by
dense membranes. The geometric parameters of the membrane
and its thermal conductivity29,30 are reported in Table 1.

As shown in Figure 1, molten salts are selected as cooling
medium in the conventional multitubular reactor; properties are
taken from Rose.9 The MR profits from oxygen flowing in the
shell, which acts as coolant, besides permeating through the
membrane into the catalyst bed. In this context, the MR is
assumed to be cooled by both convective heat exchange between
reactants and coolant (as in the CR) and by a cold-shot of the
oxygen being permeated through the membrane. To avoid
multiplicity of steady-states inherent to countercurrent opera-
tions, a cocurrent flow configuration between process gas
and coolant was assumed. Additionally, the cocurrent scheme
lowers down the hot spots, which leads to longer catalyst life and
reduces the parametric sensitivity. This ensures safe operational
conditions.31

The mathematical model describing the behavior of the CR
and MR is represented by the following equations:

Reaction Side (catalyst tubes)
Mass Balances

dFj
dz

¼ATFB
X3
i¼1

νijri for all j values ðCRÞ; for

j 6¼O2 ðMRÞ ð4Þ

with j = C2H6, C2H4, O2, H2O, CO2

dFO2

dz
¼ ATFB

X3
i¼1

νi,O2 ri þ JO2πdT for j ¼O2 ðMRÞ ð5Þ

Energy Balance

dT
dz

¼ ATP5
j¼1

FjCpj

FB
X3
i¼1

rið-ΔHriÞ-
4
dT
ðJO2CpO2

þUÞðT-TSÞ
" #

ð6Þ

where JO2
= 0 (CR) and JO2

6¼ 0 (MR, eqs 11-13)

Figure 1. Scheme of the multitubular reactors: (a) conventional reactor
(CR) and (b) membrane reactor (MR).

Table 1. Parameters of the Membrane29,30

K0 � 1010 [m] 23.1
B0 � 1017 [m2] 11.5

δ [m] 0.001 75

k [W/m K] (at T = 300 �C) 16.06
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Momentum Equation

dP
dz

¼-
fFgus

2

dp
ð7Þ

Shell Side:
Mass Balance (for MR):

dFSO2

dz
¼ -JO2πdTnT ð8Þ

Energy Balance

dTS

dz
¼ UπdTnTðT-TSÞ

FSj Cpj
where

j ¼molten salts ðCRÞ; j¼O2 ðMRÞ ð9Þ
Initial Conditions

at z ¼0 : Fj ¼Fj0 FSj ¼FSj0 T ¼T0

TS ¼TS0 P ¼P0 ð10Þ
The permeation flux of oxygen is quantified by the following

expression:32

Jj ¼-
1

RTm

De
j

δ
ðpj-pj, SÞ þ B0

δμj
pj, SðP-PSÞ

" #
j ¼O2 ð11Þ

De
j ¼

1
De
ij
þ 1
De
j, k

 !-1

ð12Þ

De
j, k ¼K0

ffiffiffiffiffiffiffiffiffi
8RT
πMj

s
ð13Þ

The power-law kinetic model proposed by Heracleous and
Lemonidou7 for the reactions 1-3 over a Ni0.85Nb0.15O catalyst
was used for the simulations. The overall-heat transfer coefficient
(U) was evaluated using the guidelines suggested in Froment and
Bischoff.33 The heat-transfer coefficient for the process gas side
was calculated by means of the equation of Leva34 and that
corresponding to the shell side by the expressions reported by
Kern.35 The global selectivity (SG) was calculated as the ratio
between the amount of ethylene produced and the amount of
ethane consumed, from the reactor inlet to the desired axial
coordinate:

SG ¼FC2H4,z-FC2H4,0
FC2H6,0-FC2H6,z

ð14Þ

Table 2 reports the design parameters of both MR and CR along
with the main operating conditions.

3. RESULTS AND DISCUSSION

3.1. Comparison between Conventional and Membrane
Reactors. To compare the performances of the CR and the
MR, the number of moles of ethane being converted per unit
time is kept constant (300.55 kmol C2H6/h). The geometrical

parameters and operating conditions are given in Table 2.
Figure 2 shows the temperature profiles for CR and MR. In
the CR design, the molten salts preheat the feed in the first 50 cm
of the tubes (filled with inert particles) and downstream act as a
coolant medium.11 This way of feed preheating is usual in
industry. Although a slight hot spot appears for z = 3.2 m, the
reaction temperature is appropriately controlled due to the high
heat removal rates.
In the case of MR, the feed temperature is considerably higher

(T0 = 380 �C) and the O2 stream is considered entering the shell
at 25 �C. The permeation flux through themembrane is varied by
applying different trans-membrane pressure drops (ΔPT-M).
This was done by adjusting the pressure on the shell side. To

Table 2. Geometrical Parameters and Operating Conditions

reactor

parameters CR MR

L 4 m (inert solid in the first 0.50 m) 4 m

dT 0.0266 m 0.0266 m

dS 3.93 m 3.93 m

nT 10 000 10 000

FB 50 kgcat/m
3bed 50 kgcat/m

3bed

dP 0.0045 m 0.0045 m

catalyst type hollow cylinders hollow cylinders

coolant molten salts pure O2

F0,T 3000 kmol/h 3000 kmol/h

F0,S 300 kg/s 24.1 kg/s

T0 100 �C 380 �C
TS0 312-363 �C 25 �C
P0 5 atm 5 atm

P0S n.a. 5.3-6.147 atm

y0,O2
0.1 0

y0,C2H6
0.9 1

baffles number 3 3

bed number 1 1

Figure 2. Tube-side (solid lines) and shell-side (dashed lines) tem-
peratures vs axial position for CR (at T0 = 100 �C, TS0 = 363 �C, inlet
O2 = 10%, FB = 50 kgcat/m3 bed) and MR (at T0 = 380 �C, TS0 = 25 �C,
inlet O2 = 0%, FB = 50 kgcat/m

3 bed, P0S = 6.147 atm for Tout > 425 �C
and P0S = 6.065 atm for Tout = 425 �C. Remaining conditions as in
Table 2).
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reach the same quantity of converted ethane that in CR, it is
necessary to use trans-membrane pressure drops (ΔPT-M) higher
than 1 atm (P0S = 6.147 atm). As shown, the outlet temperature
overcomes the maximum allowable temperature according to the
catalyst test (Figure 2, upper solid curve for MR). If the pressure
on the shell side is adjusted to satisfy Tmall = 425 �C, (P0S = 6.065
atm, lower solid curve), the MR proves to be unable to convert
the quantity of moles of ethane fixed on a comparison basis. This
high outlet temperature observed in the MR is a consequence of
both the predominance of the exothermic combustion reactions
and the poor heat capacity of the gas flowing on the shell side.
This behavior can be explained by means of Figure 3, in which

the axial profiles of oxygen molar fraction for both reactors are
presented at the same conditions of Figure 2.
TheO2 consumption for CR starts at z = 0.50 m because of the

presence of inerts in the preheating zone. An O2 depletion near
the reactor outlet is observed. For the two operating conditions
corresponding to MR in Figure 3, the higher the final tempera-
tures are, the lower O2 concentrations are found at the reactor
outlet region. In both cases the presence of remnant O2 at the
reactor end is observed. This accumulation phenomenon repre-
sents a clearly undesired situation that is caused by the low
reaction rates at hand. The right ordinate axis of Figure 3 shows
global selectivities for the CR and the MR. The high O2

concentration at the reactor mouth in the CR leads to an initially
poorer selectivity; lower O2 partial pressures toward the reactor
end are not sufficient to recover the selectivity values. For theMR
cases, global selectivities diminish monotonically with z, due to
the high O2 accumulation inside the tubes. The operating
conditions selected here do not allow taking advantage of the
MR’s ability to work at low partial pressures of O2 in order to
improve global selectivity and ethylene yield. In the next
subsections, the operating conditions are adjusted, with the
aim of improving the performance of both reactor designs.
3.2. Influence of Bed Density (GB). To analyze the influence

of the bed density for both reactor designs, the thickness of the
active layer in the washcoated catalyst particle is varied, whereas
the dimensions of the pellet remain the same. Figures 4 and 5
show the axial temperature profiles for CR at four different values
of bed density: FB = 50, 100, 200, and 400 kgcat/m

3 bed. The
coolant inlet temperature (TS0) is varied in order to keep
constant the amount of ethane being converted (300.55 kmol

C2H6/h). As shown in Figure 4, the increase in the bed density
for the CR leads to pronounced hot-spots due to the fast
evolution of the reaction rates, even though the molten salts
enters the reactor gradually at lower temperatures. As FB is
increased, the O2 consumption along the reactor becomes faster
and the O2 depletion shifts the reactor entrance, as a conse-
quence of the higher reaction rates per unit volume (Figure 5). In
real application, this condition is not convenient, not only
because the catalyst in this zone renders unused, but also because
secondary reactions will ignite using oxygen from the catalyst
lattice, leading to a gradual reduction of the catalyst and to coke
formation.36 The outlet selectivity is not affected significantly by
the bed density (Figure 5, right axis); therefore, the ethylene
production remains constant (Table 3). Clearly, increasing the
bed density is not suitable for the CR.
Figure 6 shows axial temperature profiles for the MR for the

same values of bed density (FB = 50, 100, 200, and 400 kgcat/m
3

bed), whereas Figure 7 reports the corresponding oxygen com-
position axial profiles and selectivities. The pressure on the shell
side was adjusted here for each bed density in order to attain the

Figure 3. Oxygen molar fraction profiles along the reactor length, for
the conditions of Figure 2. Right ordinate axis: global selectivity.

Figure 4. Tube-side (solid lines) and shell-side (dashed lines) tem-
peratures vs axial position for CR (at T0 = 100 �C, inlet O2 = 10%, FB =
50, 100, 200, and 400 kgcat/m

3 bed, TS0 = 312, 330, 350, and 363 �C,
respectively).

Figure 5. Oxygen molar fraction along the reactor length for CR with
different bed densities (FB = 50, 100, 200, and 400 kgcat/m

3 bed). Right
ordinate axis: global selectivity.
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same ethane converted inside the tubes as inCR (300.55 kmol/h).
After a minimum is shown, the temperature reaches its maxi-
mum value at the reactor outlet, for the four curves, clearly
surpassing the allowable maximum temperature for the lower
densities. As FB increases, O2 accumulation inside the tubes tends
to disappear (see Figure 7), i.e., the conversion of O2 is practically
complete for FB g 100 kgcat/m

3 bed. Nevertheless, it is im-
portant to note that the O2 permeated through the membrane
permanently oxidizes the catalyst sites avoiding coke formation.
The lower O2 partial pressures on the reaction side favor the

ODH’s reaction (higher global selectivity; see Figure 7, right
coordinate axis). The increases in the reaction rate and the global
selectivity lead to an enhance in ethylene production, as reported
in Table 4. It is interesting to compare the results for different bed
densities: higher FB values lead simultaneously to the same
ethane converted, less O2 converted (see stoichiometry), and
substantially lower maximum temperatures (see Table 4 and
Figures 6 and 7). The decrease in the maximum temperature
(“inverse response” with respect to the bed density) is a
consequence of the improvement in selectivity, i.e., the less
exothermic ODH reaction is being favored. Conversely to the
CR, the selection of higher bed densities improves the MR per-
formance. By comparison of Tables 3 and 4, the ethylene
production rates of the MR (ton/year) are higher than those
of CR, provided that FB g 100 kgcat/m

3 bed.
3.3. Influence of the Oxygen Permeation Flux. As it is

referred to in a previous subsection, the permeation flux through
the membrane is varied by applying different trans-membrane
pressure drops (ΔPT-M). This was done by adjusting the pressure
on the shell side to satisfy the desired ΔPT-M value. Figure 8
shows the influence of the parameter ΔPT-M on the axial profiles
of oxygen molar flow rate and global selectivity. The increase in
trans-membrane pressure drops leads to higher oxygen permea-
tion rates, and an accumulation of O2 in the first tube section is
observed. This causes a slight drop of the global selectivity (see
Figure 8, right axis). Despite this, since the reaction rates are high
enough and the selectivity is not too deteriorated, a substantial
increase in the ethylene production is obtained by the ΔPT-M
values, as shown in Figure 9. It is important to note that the
production rate is determined by the permeated oxygen. In fact,

Table 3. Operative Parameters of CR for the Conditions of
Figure 4

reactor design CR

FB [kgcat/m3 bed] 50 100 200 400

ethane converted [kmol C2H6/h] 300.55 300.49 300.57 300.59

total O2feed [kmol/h] 300 300 300 300

Tmax [�C] 384.78 399.49 476.00 532.94

L (Tmax) [m] 3.31 1.73 1.22 0.94

C2H4 production [ton/year] 56 145 56 128 56 145 56 154

Figure 6. Tube-side (solid lines) and shell-side (dashed lines) tem-
peratures vs axial position for MR (at T0 = 380 �C, TS0 = 25 �C, inlet
O2 = 0%, FB = 50, 100, 200, and 400 kgcat/m

3 bed).

Figure 7. Oxygen molar fraction along the reactor length for the
conditions of Figure 6. Right ordinate axis: global selectivity.

Table 4. Operative Parameters of MR for the Conditions of
Figure 6

reactor design MR

FB[kgcat/m3 bed] 50 100 200 400

ethane converted [kmol C2H6/h] 300.52 300.46 300.55 300.71

total O2 feed (by permeation) [kmol/h] 429.57 229.68 197.5 182.05

Tmax [�C] 574.82 470.57 434.11 416.8

L (Tmax) [m] 4 4 4 4

C2H4 production [ton/year] 55 789 61 173 63 656 64 410

Figure 8. Oxygen molar flow rate along the reactor length for different
trans-membrane pressure drops (ΔPT-M = 0.3, 0.4, 0.5, and 0.6 atm; FB =
400 kgcat/m

3 bed). Right ordinate axis: global selectivity.
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the outlet production rate increases around 49% when the trans-
membrane pressure drop is increased from 0.3 to 0.6 atm.
However, Table 5 shows that the outlet temperature for the
cases of ΔPT-M = 0.5 and 0.6 slightly exceeds the allowable
maximum temperature (425 �C).
3.4. Influence of the Oxygen Feed Distribution. A combi-

nation of the CR and the MR with respect to the oxygen feed
policy can be analyzed. In fact, we present here studies regarding
aMRwith oxygen feed both in the tube mouth as well as the tube
wall. The parameter Rf represents the ratio between the oxygen
being fed at the reactor inlet (FO2

0) and the total oxygen feed
(FO2

T); i.e., Rf = F0O2
/FO2

T. A new comparison basis is adopted,
namely, the total flow rate of oxygen fed to the reactor is kept
constant (FO2

T = 227 kmol/h). The remaining operating condi-
tions are given in Table 2. Figure 10 shows the temperature

profiles along the reactor length for different oxygen feed
distributions. Again, the pressure on the shell side is adjusted
to modify the permeation rate through the membrane to main-
tain, in this case, the fixed total feed of oxygen. For Rf = 0.2 and
0.3, a small hot-spot is observed near the reactor inlet and the
temperature minima observed in Figure 10 (all for Rf = 0) tend to
disappear. The outlet (maximum) temperature is similar for all
Rfs. When O2 is fed at the tube mouth (Rf = 0.1-0.3), a fast
ignition of the reactions is verified, as shown in the axial ethylene
production rates reported in Figure 11. After the initial O2

depletion, the rate of O2 consumption by chemical reaction is
nearly balanced with the rate of permeation through the
membrane. As a result, no accumulation of O2 is found in the
catalyst bed. The increase of oxygen fed at the reactor mouth
(higher Rf) leads to an initial decrease of the global selectivity, as
shown in Figure 12. This initial loss cannot be recovered in the
zones where the O2 partial pressures are low enough. As a
consequence the outlet ethylene production diminishes slightly
(see Figure 11). It suggests the existence of an optimal Rf ratio
that leads to low O2 partial pressures without an irrecoverable
deterioration of the global selectivity in the initial section.

Figure 9. Ethylene production profiles for the same conditions of
Figure 8.

Table 5. Outlet Temperatures for the Conditions of Figure 8

ΔPT-M [atm] 0.3 0.4 0.5 0.6
T [�C] 402.27 418.5 432.95 448.3

Figure 10. Tube-side (solid lines) and shell-side (dashed lines)
temperatures profiles for different O2 feed ratios (Rf = 0, 0.1, 0.2,
and 0.3).

Figure 11. Ethylene production profiles for the same conditions of
Figure 10.

Figure 12. Global selectivity profiles for the same conditions of
Figure 10. Figure detail: oxygen molar flow rate along the reactor length.
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4. CONCLUSIONS

The results lead to the following conclusions: (1) The increase
in bed densities has opposite effects on both designs. Higher bed
density values for the CR lead to hot-spots due to the fast
evolution of the reaction rates. In order to maintain mild tem-
perature profiles inside the tubes as FB is increased, it is necessary
to diminish the inlet coolant temperature (TS0). Nevertheless the
final reactor zone with O2 depletion still remains; this is a clearly
not a convenient situation.

Conversely to the CR, higher bed densities improve the MR
performance and lead to an increase of the reaction rates. O2

accumulation inside the tubes tends to disappear due to an
increase in the O2 consumption rate. LowO2 partial pressures on
the reaction side favor the ODH’s reaction (high global
selectivity). The predominance of the least exothermic reaction
(ODH of ethane) allows better temperature control. The aug-
ment of the reactions rates and global selectivity causes an
increase in ethylene production.

(2) A convenient selection of theRf ratio leads to lower oxygen
partial pressures inside the catalyst tubes, which result in an
improved ethylene yield.

(3) The increase in O2 consumption rate for the unit of
volume allows increasing the O2 permeation flux across the
membrane leading to higher ethylene production rates. How-
ever, the maximum temperature can be exceeded.

(4) Because of the high heat capacity of the molten salts and
good shell side heat transfer coefficients, the CR is very efficient
to remove the reaction heat from the reaction tubes, provided
that low reaction rates per unit volume occur. However, feeding
all the O2 at the reactor inlet does not help to maintain high
selectivity to ethylene and low heat generation rates. Conversely,
the MR is capable to reach high selectivity and ethylene produc-
tion, because of the lower oxygen partial pressures along the
tubes. The reaction rate, i.e., the heat generation rate, can be
controlled by means of the permeation flow through the mem-
brane. This is a powerful tool to improve the temperature
control, whether a better coolant medium than the proper
oxygen stream can be employed in the shell side. Another
interesting possibility to improve temperature control is the
use of a fluid-bed cooled packed-bed membrane reactor with a
feed of oxygen from the fluid bed to the packed bed.37,38 These
last options remain as challenges for an optimum reactor design
in ethane ODH.
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’NOMENCLATURE
AT = cross sectional area of tubes, m2

B0 = geometric parameter of the membrane, m2

Cpj = specific heat of component j, kJ/ (kmol K)
dp = equivalent diameter of the catalyst pellet (momentum

equation), m
dT = internal tube diameter, m
dT = internal tube diameter, m
dS = shell diameter, m
dS = shell diameter, m
Dij
e = effective molecular diffusion coefficient of compo-

nent j, m2/s

Dj,k
e = effectiveKnudsen diffusion coefficient of component j, m2/s

Dj
e = Bosanquet diffusion coefficient of component j, m2/s

Ei = activation energy of reaction i, kJ/mol
f = friction factor, dimensionless
Fj = molar flow of component j (reaction side), kmol/h
Fj
S = molar flow of component j (shell side), kmol/h

FT = = total molar flow rate, kmol/h
FS = total molar flow rate, shell side, kmol/h
Jj = permeation flow of component j, kmol/(h m2)
km = membrane thermal conductivity, W/m K
K0 = geometric parameter of the membrane, m
Mj = molecular weight of component j, kg/kmol
nT = number of tubes
L = tube length, m
pj = partial pressure of component j (tube side), Pa
P = total pressure (reaction side), Pa
PS = total pressure (shell side), Pa
Pm = average pressure, Pa
ri = reaction rate, reaction i, kmolCH/(kgcat s) where HCdC2H6

(reactions 1 and 2) and HCdC2H4 (reaction 3)
R = universal gas constant, kg m2/(kmol s2 K)
SG = global selectivity, dimensionless
T = temperature (reaction side), K
Tm = average temperature, K
Tmall = allowable maximum temperature, K
Tmax = maximum temperature, K
Tout = outlet temperature, K
TS = temperature (shell side), K
U = overall heat transfer coefficient, kJ/(h m2 K)
us = superficial velocity, mf

3/(mr
2 s)

yj = molar fraction, molj/moltotal
z = axial coordinate, m

Greek letters
r = heat transfer coefficient, kJ/(h m2 K)
δ = membrane thickness, m
ΔHri = heat of reaction i, kJ/mol
ΔPT-M = pressure drop across the membrane, atm
Fg = gas density, kg/mf

3

FB = bed density, kgcat/m
3 bed

μj = viscosity of component j, Pa s

Subscripts and Superscript
i = reaction i
j = component j
0 = at the axial coordinate z = 0
L = at the axial coordinate z = L
S = shell side
T = tube side
C2H6 = ethane
C2H4 = ethylene
CO2 = carbon dioxide
H2O = water
O2 = oxygen
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