
 

Thermocatalytic Decomposition of Methane in a Gas Fluidized
Bed Reactor
Citation for published version (APA):
Hadian, M. (2023). Thermocatalytic Decomposition of Methane in a Gas Fluidized Bed Reactor: Numerical
Modeling and Experimental Study. [Phd Thesis 1 (Research TU/e / Graduation TU/e), Chemical Engineering and
Chemistry]. Eindhoven University of Technology.

Document status and date:
Published: 17/10/2023

Document Version:
Publisher’s PDF, also known as Version of Record (includes final page, issue and volume numbers)

Please check the document version of this publication:

• A submitted manuscript is the version of the article upon submission and before peer-review. There can be
important differences between the submitted version and the official published version of record. People
interested in the research are advised to contact the author for the final version of the publication, or visit the
DOI to the publisher's website.
• The final author version and the galley proof are versions of the publication after peer review.
• The final published version features the final layout of the paper including the volume, issue and page
numbers.
Link to publication

General rights
Copyright and moral rights for the publications made accessible in the public portal are retained by the authors and/or other copyright owners
and it is a condition of accessing publications that users recognise and abide by the legal requirements associated with these rights.

            • Users may download and print one copy of any publication from the public portal for the purpose of private study or research.
            • You may not further distribute the material or use it for any profit-making activity or commercial gain
            • You may freely distribute the URL identifying the publication in the public portal.

If the publication is distributed under the terms of Article 25fa of the Dutch Copyright Act, indicated by the “Taverne” license above, please
follow below link for the End User Agreement:
www.tue.nl/taverne

Take down policy
If you believe that this document breaches copyright please contact us at:
openaccess@tue.nl
providing details and we will investigate your claim.

Download date: 17. Nov. 2023

https://research.tue.nl/en/publications/e6fc0a2e-0bec-44c0-8d82-2b760a82c1e4


Thermocatalytic Decomposition 
of Methane in a

Gas Fluidized Bed Reactor

Morteza Hadian

Numerical Modeling and Experimental Study

Morteza Hadian
Therm

ocatalytic Decom
position of Methane in a Gas Fluidized Bed Reactor

ISBN: 978-94-6469-577-9



Thermocatalytic Decomposition of Methane
in a Gas Fluidized Bed Reactor

Numerical Modeling and Experimental Study

PROEFSCHRIFT

ter verkrijging van de graad van doctor aan de
Technische Universiteit Eindhoven, op gezag van de
rector magnificus, prof. dr. S. K. Lenaerts, voor een

commissie aangewezen door het College voor
Promoties, in het openbaar te verdedigen
op dinsdag 17 october 2023 om 13:30 uur.

door

Morteza Hadian

geboren te Tabas, Iran



Dit proefschrift is goedgekeurd door de promotoren en de samenstelling van de
promotiecommissie is als volgt:

Voorzitter: prof.dr.ir. E. Rebrov
Promotor: prof.dr.ir. J.A.M. Kuipers
Co-promotor: dr. ir. K.A. Buist

Leden: prof.dr. F. Gallucci
prof.dr.ir. D.M.J. Smeulders
prof.dr. P.E. de Jongh (Universiteit Utrecht)
prof.dr. K. van Geem (Universiteit Gent)
prof.dr.ir. M. van Sint Annaland

Het onderzoek dat in dit proefschrift wordt beschreven is uitgevoerd in overeenstemming
met de TU/e Gedragscode Wetenschapsbeoefening.



.

This work is part of the Advanced Research Center for Chemical Building Blocks, ARC
CBBC, which is co-founded and co-financed by the Netherlands Organisation for Scientific
Research (NWO) and the Netherlands Ministry of Economic Affairs.

Copyright © 2023 by Morteza Hadian
All rights reserved. No part of the material protected by this copyright notice may be
reproduced or utilised in any form or by any means, electronic or mechanical, including
photocopying, recording or by any information storage and retrieval system, without the
prior permission of the author.

A catalogue record is available from the Eindhoven University of Technology Library
ISBN 978-94-6469-577-9

Author email: mhadian1990@outlook.com
Cover designed, layout and graphics by: Morteza Hadian





Table of contents

Summary IX

Nomenclature XVII

1 General Introduction 1
1.1 Decomposition of methane . . . . . . . . . . . . . . . . . . . . . . . . . . 2
1.2 Insight to the kinetics of the reaction . . . . . . . . . . . . . . . . . . . . . 4
1.3 Reactor development and modeling . . . . . . . . . . . . . . . . . . . . . 5
1.4 Objectives and outline . . . . . . . . . . . . . . . . . . . . . . . . . . . . 7

2 Experimental kinetic study of TCD in a fluidized bed 11
2.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 12
2.2 Experimental materials and methods . . . . . . . . . . . . . . . . . . . . . 15

2.2.1 Catalyst and reactants . . . . . . . . . . . . . . . . . . . . . . . . 15
2.2.2 Experimental setup and procedure . . . . . . . . . . . . . . . . . . 15
2.2.3 Product characterization methods . . . . . . . . . . . . . . . . . . 17

2.3 Reactor Model . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 17
2.3.1 The plug flow reactor model . . . . . . . . . . . . . . . . . . . . . 17
2.3.2 Dynamic model . . . . . . . . . . . . . . . . . . . . . . . . . . . . 18

2.4 Results and discussion . . . . . . . . . . . . . . . . . . . . . . . . . . . . 19
2.4.1 The effect of operating conditions . . . . . . . . . . . . . . . . . . 19
2.4.2 Characterization of the products . . . . . . . . . . . . . . . . . . . 28
2.4.3 Kinetic Model . . . . . . . . . . . . . . . . . . . . . . . . . . . . 31

2.5 Conclusions and outlook . . . . . . . . . . . . . . . . . . . . . . . . . . . 33



3 Numerical modeling of intra-particle phenomena and the catalyst particle
growth - A MGM model 37
3.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 38
3.2 Short review of kinetics in literature . . . . . . . . . . . . . . . . . . . . . 40

3.2.1 Initial reaction rate . . . . . . . . . . . . . . . . . . . . . . . . . . 40
3.2.2 Deactivation factor . . . . . . . . . . . . . . . . . . . . . . . . . . 42

3.3 Model description . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 42
3.3.1 Mass transfer . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 43
3.3.2 Heat transfer . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 45
3.3.3 Reaction kinetics . . . . . . . . . . . . . . . . . . . . . . . . . . . 46

3.4 Verification of the model . . . . . . . . . . . . . . . . . . . . . . . . . . . 47
3.5 Results and discussion . . . . . . . . . . . . . . . . . . . . . . . . . . . . 49

3.5.1 Mass and heat transfer limitations . . . . . . . . . . . . . . . . . . 50
3.5.2 Reaction kinetic effect . . . . . . . . . . . . . . . . . . . . . . . . 52
3.5.3 Bulk gas concentration effect . . . . . . . . . . . . . . . . . . . . . 52
3.5.4 Temperature effect . . . . . . . . . . . . . . . . . . . . . . . . . . 54
3.5.5 Effect of number of micro grain layers . . . . . . . . . . . . . . . 54

3.6 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 55

4 Coupling of MGM with CFD-DEM 57
4.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 58
4.2 Model description . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 60

4.2.1 Gas phase modeling . . . . . . . . . . . . . . . . . . . . . . . . . 60
4.2.2 Discrete phase modeling . . . . . . . . . . . . . . . . . . . . . . . 62

4.3 Verification and validation of the model . . . . . . . . . . . . . . . . . . . 66
4.3.1 Temperature coupling . . . . . . . . . . . . . . . . . . . . . . . . 66
4.3.2 Components coupling . . . . . . . . . . . . . . . . . . . . . . . . 70
4.3.3 Added/removed mass to/from the gas phase . . . . . . . . . . . . . 72
4.3.4 Integral mass balance of the reactor . . . . . . . . . . . . . . . . . 73

4.4 Results and discussion . . . . . . . . . . . . . . . . . . . . . . . . . . . . 74
4.4.1 Case description . . . . . . . . . . . . . . . . . . . . . . . . . . . 74
4.4.2 Particle size growth . . . . . . . . . . . . . . . . . . . . . . . . . . 75
4.4.3 Fluidization regime . . . . . . . . . . . . . . . . . . . . . . . . . . 77
4.4.4 Diffusion limitation . . . . . . . . . . . . . . . . . . . . . . . . . . 77

4.5 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 82

VI



5 Numerical modeling of TCD in fluidized bed reactors 85
5.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 86
5.2 Model description . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 88

5.2.1 Case description . . . . . . . . . . . . . . . . . . . . . . . . . . . 91
5.3 Results and discussion . . . . . . . . . . . . . . . . . . . . . . . . . . . . 93

5.3.1 Catalyst deactivation . . . . . . . . . . . . . . . . . . . . . . . . . 93
5.3.2 Particle size growth . . . . . . . . . . . . . . . . . . . . . . . . . . 95
5.3.3 Bed hydrodynamics . . . . . . . . . . . . . . . . . . . . . . . . . 97
5.3.4 Gas conversion . . . . . . . . . . . . . . . . . . . . . . . . . . . . 99
5.3.5 Mass transfer limitations . . . . . . . . . . . . . . . . . . . . . . . 102

5.4 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 103

6 Epilogue 105
6.1 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 106

6.1.1 Experimental study of TCD in an FBR . . . . . . . . . . . . . . . 106
6.1.2 Numerical modeling of TCD . . . . . . . . . . . . . . . . . . . . . 106

6.2 Outlook . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 108

References 111

Appendix A Weisz-Prater Criterion 125

Publications and Contributions 127

Acknowledgements 129

Curriculum vitae 135

VII





Summary

The utilization of renewable sources is crucial for long-term sustainability, but in the mean-
time, methane remains a valuable energy carrier and feedstock. However, the emissions
associated with methane usage must be mitigated through alternative approaches. Ther-
moCatalytic Decomposition of Methane (TCD) offers a way to produce carbon nanofibers
(CNFs) and hydrogen without CO2emissions. CNFs possess unique properties that make
them suitable for various applications across different industries, such as composite materials,
energy storage, catalysis, etc.

TCD involves the direct decomposition of methane via utilization of a catalyst and energy.
Catalysts play a crucial role in enhancing the methane decomposition process by lowering the
required reaction temperature, and synthesizing specific CNFs depending on the catalyst char-
acteristics and operating conditions. Metal-based supported catalysts specially nickel/silica
catalysts exhibit superior performance and activity. TCD is a one-step reaction process
and with its potential economic and environmental advantages, is considered a promising
approach for large-scale methane decomposition compared to alternative approaches. De-
spite the potential advantages and catalyst advancements, industrial-scale implementation
of TCD faces significant challenges. Catalyst deactivation due to carbon encapsulation is
a primary concern, as it affects the process performance. The carbon yield, defined as the
grams of produced carbon per gram of fresh catalyst, ideally must be high, leading to an
increased particle size and complexity in reactor design and operation. Successful large-scale
application of TCD requires a comprehensive understanding of the chemical kinetics and
hydrodynamics involved. The focus of this thesis is to make the first steps and try to obtain
such knowledge via experimental and detailed modelling studies.
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In Chapter 1, a general introduction of the different technologies for decomposition of
methane is reported. Further it provides an overview of experimental studies on the kinetics of
the TCD reaction. It also discusses the state-of-the-art, implications for reactor development
and modeling. The main body of the thesis is structured in two sub-parts. The first part
(i.e., Chapters 2) is dedicated to the experimental studies of TCD in a fluidized bed reactor
(FBR), while the second part (i.e., Chapters 3, 4, and 5) is dedicated to modeling of TCD
from particle scale, toward reactor scale. Chronologically, the completion and composition
of Chapter 3 preceded that of Chapter 2, owing to the unfortunate delays in conducting
experiments caused by the lockdown measures and other associated challenges during the
initial stages of the COVID-19 pandemic. Consequently, the outcomes and observations of
Chapter 2 were not incorporated or utilized in Chapter 3.

The first part of this thesis (i.e. Chapter 2) focuses on examining the reaction kinet-
ics of TCD using a specially designed fluidized bed reactor, employing a nickel catalyst
supported on silica. The chapter investigates the impact of various operating conditions,
including temperature, methane and hydrogen concentrations, and space velocity (SV), on
the performance of the catalyst. Three key parameters, namely the maximum reaction rate,
lifetime, and carbon yield, are used to evaluate the catalyst’s efficacy. Significant results were
obtained, with carbon yields exceeding 70 gC/gcat and lifetimes surpassing 12 h at specific
conditions (550 ◦C, 70 vol%CH4-5 vol%H2). The carbon product exhibits a distinctive fish
bone structure. Notably, the investigation reveals that lower temperatures and the presence of
modest amounts of hydrogen (10%) contribute to higher carbon yields. Conversely, reducing
the methane concentration (resulting in a higher inert gas concentration) leads to decreased
reaction rates, shorter lifetimes, and subsequently lower carbon yields. To determine the
maximum reaction rate and associated deactivation factor, a dual kinetic approach has been
employed. Furthermore, kinetic parameters have been estimated within the temperature
range of 550 ◦C to 600 ◦C.

The second part of the thesis, including Chapters 3, 4, and 5 focuses on numerical models,
adapted for catalytic reactions with solid formation, specially TCD. Chapter 3 presents
a comprehensive particle growth model due to formation of functional carbon on catalyst
particles. The model integrates kinetic equations and deactivation rates, which have been
obtained from relevant literature. To account for the combined effects of particle growth,
kinetics, and internal heat and mass transfer, the Multi-Grain Model (MGM) is employed.
The findings of the study indicate that, with the employed kinetic model, heat and mass
transfer limitations do not significantly affect the carbon yield. However, as more active
catalysts become accessible, these limitations are anticipated to become more significant.
Temperature plays a crucial role as it regulates the kinetic rate, which subsequently influences
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the growth rate of carbon and, consequently, the deactivation of the catalyst. Therefore,
selecting the optimal temperature for nano-carbon production within a reasonable process
time is highly dependent on the choice of catalyst.

Chapter 4 integrates the MGM with Computational Fluid Dynamics - Discrete Element
Method (CFD-DEM) approach. The model encompasses intra-particle phenomena with inter-
particle and fluid-particle interactions within the reactor. This comprehensive framework
treats each individual particle as a distinct entity, considering temporal and spatial variations
of the process conditions that affect particle properties. The model further investigates the
influence of particle growth on the characteristics of the fluidized bed reactor, particularly
the hydrodynamic regime, fluidization behavior, and solids mixing. Notably, particle growth
gives rise to a size gradient among the particles along the reactor’s height. The coupled
CFD-DEM-MGM approach enables the examination of both external and internal mass
transfer limitations. Given the adopted reaction kinetics, growth rate, and particle properties,
the internal mass transfer limitation emerged as a significant factor affecting the overall
performance of the process.

In Chapter 5, the CFD-DEM-MGM model was employed to investigate the performance
of two fluidized bed reactors, both sharing identical dimensions, in the context of TCD.
Case-1 involved a batch reactor, while Case-2 incorporated continuous removal of catalyst
particles from the bottom and simultaneous introduction of fresh particles from the side.
The findings from this chapter demonstrated notable distinctions between the two reactor
configurations. In the continuous reactor (Case-2), the limited residence time of catalyst
particles resulted in reduced growth and deactivation compared to the batch reactor (Case-1).
Conversely, the continuous reactor exhibited higher rates of carbon production and gas
conversion due to the continuous introduction of fresh catalyst particles. Furthermore, it was
observed that the presence of larger catalyst particles in Case-1 led to a significant decrease
in the bubble formation frequency during the later stages of the process. In contrast, the
continuous removal and introduction of particles in Case-2 prevented the formation of larger
bubbles and enhanced horizontal solids mixing within the reactor. The study also emphasized
the significance of internal diffusional limitations on the overall performance of the reactors.

Finally, Chapter 6 concludes the main outcomes of this work and briefly discusses
recommendation on TCD’s prospects for the future.
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Samenvatting

De toepassing van hernieuwbare grondstoffen is cruciaal voor de duurzaamheidsdoelstellin-
gen op de lange termijn, in de tussentijd blijft methaan een waardevolle energiedrager en
grondstof. De emissies die gekoppeld zijn aan het gebruik van methaan moeten daarentegen
worden beperkt met behulp van alternatieve methoden. Thermo Katalytische Decompositie
van Methaan (TCD) biedt een manier aan voor de productie van Carbon Nanofibers (CNFs)
en waterstof zonder de uitstoot van CO2. CNFs hebben unieke eigenschappen die ze geschikt
maakt voor toepassing in verschillende industrieën als composiet materiaal, energie drager,
katalysatoren etc.

TCD is een directe decompositie van methaan met behulp van een katalysator en energie.
Het gebruik van een katalysator heeft een cruciale rol in het verbeteren van de decompositie
van methaan door het verlagen van reactie temperatuur en maakt CNFs waarbij het type
CNF afhankelijk is van de karakteristieke eigenschappen van de katalysator en de proces
condities. Katalysatoren gebaseerd op overgangsmetalen op een support materiaal, meer
specifiek nikkel/silica katalysatoren hebben een superieure opbrengst en activiteit. TCD is
een 1-staps reactie en wordt vanwege de economische potentie en voordeel voor het milieu
als een zeer veelbelovend proces voor het gebruik van methaan beschouwd ten opzichte van
alternatieve processen. Ondanks de vele voordelen en de vooruitgang die geboekt wordt
met katalysator ontwikkeling ondervindt de industriële toepassing van TCD nog de nodige
uitdagingen. Deactivering van de katalysator doormiddel van inkapseling door koolstof
formatie is van primair belang omdat het de prestaties van het proces direct beïnvloed. Het
koolstofrendement, gedefinieerd als het aantal gram koolstof per gram katalysator is ideaal
gezien hoog, wat leidt tot groeiende deeltjes grootte en een complex reactor ontwerp en
operatie. Succesvolle toepassing van TCD op grootte schaal behoeft dus een totaal begrip
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van de kinetiek en hydrodynamica van de reactor. De focus van dit proefschrift ligt in
het verkrijgen van de eerste stappen van dat begrip via experimenten en gedetailleerde
modelering studies.

In Hoofdstuk 1 wordt een algemene introductie gegeven over de verschillende technolo-
gieën voor decompositie van methaan. Verder geeft het een overzicht van de experimentele
studies naar de kinetiek van de TCD reactie alsmede een discussie van de state-of-the-art met
betrekking tot de implicaties voor reactor ontwikkeling en modelering. Het hoofdgedeelte
van het proefschrift bestaat uit twee onderdelen. Het eerste onderdeel (hoofdstuk 2) is toege-
spitst op het experimentele onderzoek naar TCD in een gefluïdiseerd bed reactor (FBR). Het
tweede onderdeel (Hoofdstukken 3, 4 en 5) beschrijft de modellering van TCD van de schaal
van de deeltjes tot de schaal van de reactor. Hoofdstuk 3 is chronologisch gezien eerder
afgerond dan hoofdstuk 2. Door de beperkingen van de lockdown en de daarbij behorende
uitdagingen konden de experimenten in het lab helaas niet tijdig plaatsvinden. Dit betekend
dat de bevindingen van hoofdstuk 2 niet zijn opgenomen in de analyse van hoofdstuk 3.

Hoofdstuk 2 beschrijft de bevindingen van de experimenten naar de reactie kinetiek van
TCD, met een nikkel op silica katalysator, in een speciaal daarvoor ontworpen gefluïdiseerd
bed reactor. Dit hoofdstuk onderzoekt de impact van verscheidene operationele condities
zoals; temperatuur, methaan en waterstof concentraties en ‘space velocity’ (SV) op de
prestaties van de katalysator. Drie ‘key’ parameters zijn gebruikt om effectiviteit van de
katalysator te karakteriseren; de maximale reactie snelheid, de levensduur en de koolstofop-
brengst. Met een koolstofopbrengst rond de 70 gc/gcat en levensduur van 12 uur zijn zeer
significante resultaten behaald voor sommige proces condities. Het koolstof product heeft
een zeer distinctieve ‘fish bone’ structuur. Het onderzoek laat zien dat lagere temperaturen en
de aanwezigheid van bescheiden hoeveelheden waterstof (10%) een veel hogere koolstofop-
brengst opleveren. Daarentegen levert een verlaagde methaan concentratie (onder verhoogde
inert concentratie) een lagere reactiesnelheid, verkorte levensduur en bijbehorend een lagere
koolstofopbrengst op. Om de maximale reactiesnelheid en de bijbehorende deactivatiefactor
te bepalen is een duale kinetiek aanpak toegepast. De bijbehorende parameters voor het
kinetiek model zijn bepaald in het temperatuurbereik van 550-600 °C.

Het tweede deel, welke hoofdstukken 3, 4 en 5 omvat, focust op de numerieke modellen
welke zijn ontwikkeld voor toepassing voor katalytische reacties met formatie van vaste stof-
fen, en specifiek TCD. Hoofdstuk 3 beschrijft een groei model voor deeltjes doormiddel van
formatie van functioneel koolstof op de katalysator deeltjes. Het model integreert de vergeli-
jkingen voor de kinetiek met die voor deactivatie, welke zijn omschreven in de literatuur. Om
rekening te houden met de combinatie van deeltjes groei, kinetiek en interne alsmede externe
warmte en stoftransport is een ‘Multi-Grain Model’ (MGM) ontwikkeld. De bevindingen
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van dit onderzoek tonen aan dat met de gekozen modellen voor de kinetiek er geen massa en
warmtetransport limitaties zijn, die de koolstofopbrengst significant beïnvloeden. Daarbij
moet echter wel worden aangemerkt dat met een verhoging van het aantal ‘active sites’ deze
limitaties wel degelijk een rol kunnen gaan spelen. Temperatuur heeft een cruciale rol in het
reguleren van de reactiesnelheid, wat de groei van koolstof en daarmee de deactivatie van
de katalysator beïnvloed. Het kiezen van een optimale temperatuur voor de productie van
nano-koolstof binnen acceptabele procestijden is daarom sterk afhankelijk van de keuze van
het soort katalysator.

Hoofdstuk 4 integreert het MGM met Computational Fluid Dynamics - Discrete Element
Method (CFD-DEM). Dit model omvat zowel de fysica van de processen in de deeltjes
alsmede de fysica van de processen tussen de deeltjes onderling en de interactie van de
deeltjes met het gas in de reactor. Dit raamwerk beschouwd elk katalysator deelt als een
aparte eenheid, wat het mogelijk maakt om het effect van de tijdsafhankelijke en ruimtelijke
variatie van het proces op de deeltjes te onderzoeken. Dit model bestuurd het effect van de
deeltjesgroei op het fluïdisatie gedrag en de invloed van deeltjesmenging. De deeltjesgroei
leidt tot een gradiënt in de deeltjesgrootte over de lengte van de reactor. Het gekoppelde
CFD-DEM-MGM model maakt het mogelijk om zowel de externe als interne massa transport
limitaties te bestuderen. Met de gekozen reactie kinetiek, deeltjesgroei en deeltjes eigen-
schappen blijkt dat interne massa transport limitaties optreden die de algehele prestaties
van het proces beïnvloeden. In Hoofdstuk 5 is het CFD-DEM-MGM model toegepast voor
TCD om de prestaties van twee gefluïdiseerde bed reactoren te bestuderen, beide hebben
identieke dimensies. Case-1 is een batch reactor, terwijl in Case-2 continu katalysator deeltjes
worden verwijderd vanuit de bodem van de reactor en verse deeltjes van de zijkant. De
resultaten uit dit hoofdstuk laten een duidelijk verschil zien tussen de twee verschillende
configuraties. In de continue reactor (case-2) de gelimiteerde verblijftijd van de katalysator
deeltjes resulteert in een gereduceerde groei en deactivatie van de deeltjes in vergelijking met
de batch reactor (Case-1). Daarentegen heeft de continue reactor een hogere snelheid van
koolstof formatie en methaan conversie door de continue toevoeging van verse katalysator
deeltjes. De aanwezigheid van grotere deeltjes in Case-1 resulteert in een significante afname
van de vorming en frequentie van bellen. In contrast, in de continue reactor in Case-2 is door
verversing van de deeltjes de formatie van grotere bellen gedempt en wordt een verbeterde
deeltjes menging waargenomen. De studie laat verder zien dat in dit proces interne massa
transport limitaties wel degelijk een effect hebben op de algehele prestaties van de reactor.

In Hoofdstuk 6 worden de algemene conclusies en uitkomsten van dit werk besproken,
tevens worden aanbevelingen gedaan voor verder onderzoek naar TCD.
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Nomenclature

Variables

A Heat or mass exchange area (m2)
Ac Cross section area of the reactor (m2)
ad Exchange surface area per unit length of the reactor (m2/m)
CF Reaction rate unit conversion factor

(kgreactant ·gcat ·min/molreactant/m2
cat/s)

Cp Specific heat capacity (J/K/kg)
D f , D Diffusivity (m2/s)
D(r− rp,a) Distribution function (-)
⟨d⟩ Sauter mean diameter (m)
dt time step size (s)
h Heat transfer coefficient (W/m2/K)
I Unity tensor (-)
I Moment of inertia (kg ·m2)
km Mass transfer coefficient (m/s)
K Thermal conductivity in the gas phase (W/m/K)
k Thermal conductivity in the porous particle (W/m/K)
k̂1 Reaction rate constant of pseudo-first-order reaction (1/s)
M Mass concentration (kg/m3)
m mass (kg)
MW Molar mass (kg/mol)
N Number of particles (-)
np number of particles per unit height of the reactor (-)
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General Introduction

1.1 Decomposition of methane

It is necessary to develop and exploit renewable energy sources as a long-term solution,
however the use of energy carriers such as methane will last for some time [1–3]. The

use of methane however, can be performed in a way that reduces emissions compared to
conventional methods. Methane can be converted into hydrogen, which is one of the most
promising energy carriers many industries rely on. Different routes of converting methane
to hydrogen exist, the most common one being steam methane reforming that coproduces
CO2. The decomposition of methane (reaction 5.18) however, does not produce CO2[4]. In
this process, which can be performed by non-catalytic or catalytic approaches, methane is
directly decomposed into its constituent elements, hydrogen and solid forms of carbon.

CH4(g)−−→ C(s)+H2(g) ∆H(298K) =+74.52kJ/mol (1.1)

Thermal non-catalytic decomposition of methane, also termed methane pyrolysis or
thermal decomposition, requires high temperatures, typically ≥1300 ◦C [5, 6]. The carbon
formed in this process is mostly amorphous carbon and can be used as activated carbon, filler
in rubber or in tires, or as pigment in different technologies [5, 7]. Utilization of a medium of
molten metals in the reactor is suggested and studied in order to achieve a continuous process
of non-catalytic decomposition of methane and convenient separation of deposited carbon in
the reactor [4, 5, 7–9]. Other non-catalytic routes of the decomposition of methane involve
the application of thermal or non-thermal plasma reactors. Several studies have already been
reported on the decomposition of hydrocarbons and plasma reactors [10].

Utilization of a catalyst enhances the methane decomposition process. Firstly, the catalyst
reduces the required temperature for the reaction ranging between 500 ◦C and 950 ◦C, mak-
ing ThermoCatalytic Decomposition of methane (TCD) 1 less energy demanding. Secondly,
specific forms of carbon nanomaterials can be generated, depending on the catalyst as well
as the operating conditions employed [11]. These carbon nanomaterials, due to their intrinsic
characteristics such as high conductivity, high tenacity and mechanical strength, and large
specific surface area, can be valuable for different industrial applications such as building
materials, catalytic materials and energy storage [12–14]. These advantages, together with
the less complex gas separation unit for the products, make TCD an environmentally and
economically promising approach [15]. Compared with plasma reactors, TCD is more suit-
able for large-scale decomposition of methane [10]. Therefore, TCD has gained significant
attention from academia and industries in recent years [16].

1Also called Catalytic Decomposition of Methane (CDM)
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1.1 Decomposition of methane

Various catalysts are established for TCD that can be divided into two categories of
metal-based and carbon-based catalysts. Carbon-based catalysts bring some advantages
of availability, low cost and not requiring separation of products from the catalyst. On
the other hand, metal-based catalysts have shown superior performance and activity. The
most common materials for metal-based catalysts are nickel, iron and copper supported on
alumina or silica in both single or bi-metallic modes [11, 16, 17]. Extensive studies have
been performed on the different catalyst types, including the importance and the effects of
catalyst preparation, including composition, reduction and calcination of the catalyst that
provides an evaluation and review of the performance of the catalyst for application in TCD
[10, 14, 16–19].

The reaction mechanism entails the initial molecular adsorption of methane, followed
by a series of successive dehydrogenation reactions, resulting in the formation of isolated
adsorbed carbon and hydrogen atoms. Subsequently, every two adsorbed hydrogen atoms
combine to produce an H2 molecule, which is then released from the catalytic surface. The
carbon atom, on the other hand, dissolves into the metal catalyst and forms nanomaterials on
the other side of the metal particle. If the decomposition step occurs faster than the diffusion
and construction rate of carbon nano-structures, carbon atoms accumulate on the surface
of the metal active site and deactivate it by encapsulation [20–22]. Therefore, the reaction
initiates at the highest kinetic rate and it decays over time due to fewer available active site
until full deactivation at a time considered to be the lifetime of the catalyst. The rate-limiting
step of the reaction is considered to be the detachment of the first hydrogen from CH4. If,
due to local conditions, the transfer of carbon atoms through metal and subsequent formation
of nanomaterials becomes slower than the decomposition reaction, then the carbon atoms
accumulate on the surface of the metal and encapsulate it [6, 23–26]. Schoemaker et al.
observed two different regimes of CNF formation at different temperature windows [22].

Despite all the potential advantages and catalyst developments, TCD is not yet used on an
industrial scale and commercialized, stemming from the presence of considerable challenges
ahead. The first challenge is deactivation of the catalysts due to encapsulation by carbon. The
inclusion of the catalyst inside the product also forces one to design and select the catalyst
according to the desired application of carbon nanomaterials. The carbon yield, which is
defined as grams of produced carbon per gram of fresh catalyst used, can be as high as over
70 gc/gcat. This excessive growth of the size of the particulate phase containing the catalyst
introduces extra complexities to the reactor design and operation and requires a thorough
understanding of the involved phenomena. The chemical kinetics of the reaction, as well
as the hydrodynamics of the reactor, must be mastered to enable the large-scale industrial
application of TCD.
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1.2 Insight to the kinetics of the reaction

In TCD, the functionality and activity of the catalyst decline over time. It is of paramount
importance to capture this process quantitatively. Kinetic studies revealed that the actual rate
of the chemical reaction at a given time, r(t > 0), is characterized by two distinct factors: the
maximum reaction rate, r0, and a deactivation factor that is dependent on time a(t), Equation
?? [6, 13, 27–29].

r(t) = a(t)× r0 (1.2)

Despite the numerous studies on the effect of different promoters and the performance of
different catalysts at specific operating conditions, only a few works proposed a kinetic model
of reaction rate and especially the deactivation factor. Saraswat et al. [25] have presented a
comprehensive expression for the reaction rate, given by equation 3.8, that incorporates the
impact of the partial pressures of both hydrogen and methane within the framework of the
Langmuir-Hinshelwood model [25]. A variety of empirical or semi-empirical equations that
have been formulated to describe the deactivation factor, a(t), are summarized in reference
[11]. Equation 1.4 obtained from a species balance on the catalyst’s active sites, can describe
nickel catalyst deactivation during TCD [6, 29]. Some in-situ TEM measurements have been
done on TCD, showing the growth of carbon nanomaterials in real-time [30, 31]. Further
in-situ TEM measurements would help to understand better the mechanisms of CNF growth
and catalyst deactivation.

r0 =
k1PCH4 − k2PH2

2(
1+ k3PCH4 + k4PH2

0.5 + k5PH2 + k6PH2
1.5)2 (1.3)

a(t) =

 1

1−0.5kd

(
kd,C + kd,CH4PCH4 + kd,H2P0.83

H2

)
t

−0.8

(1.4)

Most kinetic studies have been limited to micro-scale reactors under mild reaction
conditions such as; low methane concentrations. Hadian et al. [29] conducted experiments
on nickel-supported catalyst in a fluidized bed reactor, under conditions closer to what is
required for industrial applications. Such studies can potentially offer valuable insights into
the kinetic behavior of catalysts under more realistic operating conditions and aid in the
development of efficient and cost-effective catalysts.
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1.3 Reactor development and modeling

Muradov [32] compared different reactor types, such as Packed Bed reactor (PBR), Fluidized
Bed Reactor (FBR), free-volume reactor, spouted-bed and tubular reactors, and concluded
that FBRs are preferred for large-scale TCD, due to higher interphase mass and heat transfer
rates and solids mobility [2]. Most conducted studies in recent years have been limited to
small-scale PBRs under mild reaction conditions because of their relatively simple reactor
design and operation. However, PBRs suffer from significant drawbacks for large-scale TCD,
including a high probability of clogging, particle crushing, increasing pressure drop, and
eventually fracturing the reactor’s body due to the massive increase of the size of the catalyst
particle over time [19, 32, 33]. Therefore, in order to discover the potential and limitations of
TCD and to be able to step toward commercializing this process, it is imperative to research
TCD in FBRs. Furthermore, the up-scaling of the reactor would result in the alienation of the
reactor from differential conditions and introduces additional complexities arising from the
interplay of multiple phenomena and emphasizes the necessity of studying TCD in FBRs.
Figure 1.1 illustrates these different scales of phenomena in TCD reactor.

Fig. 1.1 Models of phenomena in TCD reactor at different scales. Intra-particle scale:
intrinsic reaction and deactivation mechanism, Particle scale: mass and heat transfer and
solid deposition, Reactor scale: momentum, mass and heat transfer in fluid phase and between
fluid and solid phases.

Some studies have employed FBRs, mostly with fine catalyst powders. Using small
catalyst particle sizes implies low gas space velocities (SV) to minimize particle carryover in
the reactor. For instance, Torres et al. [34] and Pinilla et al. [35, 36] conducted experiments
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utilizing 20 g of fine catalyst powder in a fluidized bed, with space velocities limited to
0.2 Ln/gcat/min. Due to the higher minimum fluidization velocity of heavier particles, a
limited space velocity fails to provide the required minimum fluidization velocity for grown
particles.

To date, only a limited number of studies have explored reactor and process design
solutions for addressing the challenges associated with TCD. Weizhong et al. [37] demon-
strated that a two-stage FBR incorporating different temperatures and enabling solid transfer
can significantly extend catalyst lifetime and improve methane conversion. The highest
concentrations of the reactants are introduced into the stage with a lower temperature, which
effectively limits the reaction rate and prolongs the catalyst’s lifetime. The partially converted
gas from the first stage then enters the high-temperature reactor, leading to an enhanced
methane conversion. Similarly, Shah et al. [38] implemented a flow rate increase strategy to
fluidize the bed at regular intervals in a PBR. Although this led to a temporary reduction in
conversion efficiency, it effectively prevented clogging and allowed for the replacement of
used catalysts, including solid products, with fresh catalysts.

Depending on the quality and desired application of the carbon nanomaterials as well as
the type of catalyst, separation of solid products from the catalyst may be required or not
[39]. Kaushal et al. [15] used a Ni-Cu bimetallic catalyst and proposed an ultrasonication
method for the separation of carbon nanomaterials from the catalyst. The separated catalyst
can be regenerated by oxidation of the catalyst (by air [15] or steam [40]). The activity
recovery was very good after five cycles. Preliminary comparison of the obtained carbon
nanomaterials with market prices showed that the potential price would be higher than 2 $/g
which makes TCD financially more favorable than steam methane reforming [15, 41]. More
research is required on the possible approaches for CNF and catalyst separation is required.
However, for certain applications, such as utilizing CNF as lightweight and robust building
materials for vehicles, the separation of the catalyst and solid product may not be necessary,
and a combination of CNF and the original catalyst can be employed. Nonetheless, further
research is crucial in the pursuit of designing a catalyst with the utmost yield and the lowest
metal loading.

Undoubtedly, further research is essential to develop efficient and effective TCD reactors
and processes that can address the challenges associated with this technology. However, ex-
perimental evaluation and optimization of each proposed setup can be a time-consuming and
expensive process. Therefore, the availability of multi-scale computational models becomes
increasingly important for engineers to evaluate and optimize TCD reactors and processes.
Such models can provide a cost-effective and efficient method to analyze the complex fluid
dynamics and heat transfer mechanisms in TCD reactors. These models simulate the behavior
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of gas-solid flows and provide valuable insights into the flow characteristics, temperature
distribution, and reaction kinetics within the reactor. Moreover, these models can facilitate
the optimization of reactor design, catalyst selection, and operating conditions, enabling
engineers to predict and control the performance of the TCD reactor.

Muradov [42] employed the well-known 1D Kunii-Levenspiel phenomenological bub-
bling fluidized bed model to scale-up a TCD reactor for the production of 50 tonH2/day. The
reported bed diameter of 4.2 m is comparable to that of industrial reactors used for fluid
catalytic cracking and fluid coking, roughly indicating the technical feasibility of industrial-
scale reactor design. Additionally, a 1D plug flow reactor model was used to represent the
turbulent flow regime in the reactor [42]. Although these simple models provide a better
understanding and overview of the potential of TCD, they suffer from many questionable
assumptions and do not incorporate critical phenomena involved in TCD, such as the effect
of particle growth on the hydrodynamics of the bed and the complete interplay between mass
and heat transfer and chemical conversion.

1.4 Objectives and outline

This thesis focuses on performing TCD in an FBR and evaluating the importance and effects
of operating conditions and reactor design through experimental and modeling studies.
The primary objective of this thesis is to utilize fundamental principles of reaction and
reactor engineering to explore TCD and expand the existing knowledge base, which has
predominantly focused on the catalysis field.

This thesis consists of several chapters that investigate various aspects of TCD of methane.
In Chapter 2, the reaction kinetics of TCD are examined using a specially designed fluidized
bed reactor with a nickel catalyst supported on silica. The study explores the effects of
operating conditions on catalyst performance, such as temperature, methane and hydrogen
concentrations, and space velocity. Key parameters, including maximum reaction rate,
lifetime, and carbon yield, are evaluated.

Chapters 3, 4, and 5 focus on numerical modeling approaches for catalytic reactions,
particularly TCD. Chapter 3 presents a particle growth model that considers the formation
of functional carbon on catalyst particles. The Multi-Grain Model (MGM) incorporates the
combined effects of particle growth, kinetics, and internal heat and mass transfer.

Chapter 4 integrates MGM with the Computational Fluid Dynamics - Discrete Element
Method (CFD-DEM) approach, allowing for examining intra-particle phenomena and in-
teractions within the reactor. The model investigates the impact of particle growth on the
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hydrodynamic regime, fluidization behavior, and solids mixing within the fluidized bed
reactor.

In Chapter 5, the CFD-DEM-MGM model is used to study the performance of two
fluidized bed reactors, one operating as a batch reactor and the other with continuous catalyst
removal and introduction of fresh particles. The extent of growth and deactivation of catalyst
particles, the hydrodynamic behavior of the bed, and gas conversion are compared between
the two cases.

Finally, Chapter 6 concludes the thesis by summarizing the main findings and discussing
the future prospects of TCD.
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Experimental kinetic study of TCD in a
fluidized bed1

1This chapter is based on Hadian, M., Marrevee, D. P. F., Buist, K. A., Reesink, B. H., Bos, A. N. R., Bavel,
A. P., Kuipers, J. A. M. (2022), Kinetic study of thermocatalytic decomposition of methane over nickel supported
catalyst in a fluidized bed reactor. Chemical Engineering Science„ 260, 117938 [29].
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Experimental kinetic study of TCD in a fluidized bed

Abstract

ThermoCatalytic Decomposition of methane (TCD) offers an interesting route to
convert natural gas into hydrogen and functional carbon. In this chapter, the reaction
kinetics of TCD is studied for a nickel-supported catalyst using a special fluidized
bed reactor. The effect of operating conditions such as temperature, concentrations
of methane and hydrogen and space velocity (SV) was studied on a commercial
nickel catalyst on a silica support. The catalyst’s performance was evaluated in terms
of three parameters: maximum reaction rate, lifetime and carbon yield. Values up to
and in excess of 70 gC/gcat and 12 h (at 550 °C and 70 vol.%CH4-5 vol.%H2) have
been achieved for carbon yield and lifetime, respectively. The carbon product has fish
bone structure. Our study has revealed that at lower temperatures and in the presence
of small amounts of hydrogen (≤ 10%) a higher carbon yield is obtained. A lower
concentration of methane (a higher concentration of the inert) lowers the reaction rate,
the lifetime and therefore, the carbon yield. A dual kinetic approach has been adopted
to determine the maximum reaction rate and the associated deactivation factor. The
kinetic parameters were estimated for the temperature range of 550−600 °C.

2.1 Introduction

The destructive consequences of the climate change crisis followed by ongoing efforts
toward emission-free technologies have instigated a growing interest in low CO2 and

CO2-free hydrogen production [6, 14, 27, 43, 44]. Various approaches such as chemical loop-
ing reforming, steam methane reforming integrated with Carbon Capture and Sequestration
processes (CCS), water splitting, and thermal and thermocatalytic decomposition of methane
have been studied for this purpose. Among those, thermocatalytic decomposition of methane
(TCD) is one the most promising [11]. A major advantage of TCD is the potential capability
of producing highly valuable carbon nanomaterials instead of CO2, next to hydrogen. The
intrinsic characteristics of carbon nanomaterials make them suitable for many industrial ap-
plications such as building materials, semiconductors, catalytic materials and energy storage
[12–14, 17]. In addition, TCD requires less complex down stream purification or separation
units than conventional processes. These advantages make TCD an environmentally and
economically attractive approach for CO2-free hydrogen production [11]. In this chapter, a
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short overview of the methane decomposition reaction and its kinetics is presented. A more
comprehensive literature study of the kinetic models for this reaction is given in chapter 3.

Methane is thermally decomposed to solid carbon and gaseous hydrogen in the absence
of a catalyst or oxidizing agents at temperatures above 1300 ◦C (reaction 5.18). Alternatively,
in TCD, a catalyst facilitates the same reaction at a much lower temperature (500 °C-950 °C)
with the formation of nano-structured carbon materials. The structure of this material
depends on operating conditions and foremost on the catalyst properties that are employed
[11]. Nickel, iron, copper and carbon are the most studied active sites of the catalyst and
among them, nickel on silica support, Ni – SiO2, showed the highest methane decomposition
activity [45–50].

CH4(g)−−→ C(s)+2H2(g) ∆H(298K) =+74.52kJ/mol (2.1)

A considerable amount of literature has been published on the preparation of single or
bimetallic or carbonaceous catalysts. Their performance in very small lab-scale units and
under mild reaction conditions have been established. Srilatha et. al [16] and Ashik et al.
[14, 17] reviewed and compared these studies using carbonaceous and metallic catalysts,
most of which have been employed in small-scale fixed bed reactors with up to 0.5 g of
catalyst at limited space velocities and low concentrations of methane. Since the size of the
catalyst particle in TCD increases over time due to carbon build-up, fixed bed reactors suffer
from serious drawbacks such as a high probability of clogging, particle crushing, increasing
pressure drop and fracturing the reactor’s body. Therefore, fluidized bed reactors are preferred
over fixed bed reactors for large-scale TCD. Indeed, few studies have used fluidized bed
reactors or high space velocities (ratio of the total flow rate at normal conditions per gram of
catalyst initially loaded), SV. For instance Torres et al. [34] performed experiments with 20 g
of fine catalyst particles in a fluidized bed; however, the SV did not exceed 0.2 Ln/gcat/min.
Suelves et al. [51] used higher SV (2 Ln/gcat/min) in a fixed bed reactor that contained no
more than 0.05 g of catalyst.

Alongside experimental parametric studies on the performance of the reaction, kinetic
studies on TCD in a fixed bed reactor and mild conditions and the mechanism investigations
of reaction 5.18 over metallic catalysts have been performed. These studies revealed that the
actual rate of TCD is not constant over time and can be described by Equation 2.2, where r0

is the maximum reaction rate and a(t) is defined as the deactivation factor [6, 13, 27, 28]. In
an earlier contribution, the authors summarized the kinetic studies and the proposed kinetic
models, including the maximum reaction rate and deactivation factor of the catalyst [11].
Several researchers [6, 25] proposed a mechanism based on the molecular adsorption of
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methane followed by step-by-step dehydrogenation reactions until separate adsorbed atoms
of carbon and hydrogen are obtained. The first dehydrogenation reaction was found to be
the rate-limiting step. The remaining carbon atom of methane on the surface of the metal
active site passes through the metal by diffusion and forms nanolayers of carbon on the
other side. If the decomposition step occurs faster than the diffusion and construction rate
of carbon nano-structures, carbon atoms accumulate on the surface of the metal active site
and deactivate it by encapsulation [20, 21]. The maximum reaction rate is modelled by
a Langmuir-Hinshelwood type equation that accounts for the thermodynamic equilibrium
and the competition between hydrogen and methane adsorption over the active sites, as
represented by equation 2.3. The semi-empirical deactivation factor expression is obtained
from a species balance on the active sites of the catalyst, resulting in equation 2.4.

r(t) = a(t)× r0 (2.2)

r0[molCH4/gcat/min] =
k(PCH4[atm]−PH2

2[atm]/Kp)(
1+KH2PH2

1.5[atm]+KCH4PCH4[atm]
)2 (2.3)

a =

 1

1−0.5kd

(
kd,C + kd,CH4PCH4 + kd,H2P0.83

H2

)
t

−0.8

(2.4)

Although extensive research has been performed on catalyst preparation and reaction
mechanism of TCD, very little is currently known about the feasibility of the TCD process
in large-scale industrial fluidized beds at the harsh operating conditions encountered. The
performance of the catalyst and the fluidized bed reactor need to be thoroughly investigated
by performing experimental and numerical studies. This performance can be expressed in
terms of the maximum reaction rate, r0, the lifetime of the catalyst, LT , and carbon yield (the
ratio of the mass of produced carbon to the initial mass of catalyst used, Equation 2.5), CY.
The outline of this chapter is as follows: in section 2.2 we describe the experimental setup,
materials as well as the adopted procedures. In section 2.3 we introduce the reactor model
used for interpreting the experiments, whereas the results and discussion are given in section
5.3. Finally, in section 2.5 the conclusions are presented.

carbon yield (CY ) =
mass o f produced carbon (g)

initial mass o f catalyst (g)
(2.5)
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2.2 Experimental materials and methods

2.2.1 Catalyst and reactants

In the experiments, a commercial catalyst made by BASF (Ni 5256 E RS) was used. The
catalyst is originally designed as a hydrogenation fixed bed catalyst that contains 56% nickel
on silica support and was supplied as extrudates and in a reduced and passivated state. Table
2.1 shows the characteristics of the fresh catalyst. All of the gases used in this study were at
least 99.995% pure, supplied by Linde.

Table 2.1 Characteristics of the fresh catalyst and one sample of the used catalyst.

Parameter Unit Fresh catalyst Used catalyst*
Specific surface area m2/g 267 115

Pore volume cm3
void/g 0.53 0.32

Material density g/cm3
material 3.6660 2.1797

Bulk density g/cm3
bulk 0.85 0.58

Particle diameter µm 550 > 1000
Geldart classification - B D

* at 550 °C and SV of 4.5 Ln/gcat/min of 100% CH4

2.2.2 Experimental setup and procedure

The experiments were performed in a cylindrical quartz fluidized bed reactor equipped with
a spherical free-board section, see Figure 2.1. The inner diameter and the height of the
cylindrical part are 1 cm and 10 cm, respectively and the diameter of the free-board is 7.5 cm.
The spherical free-board reduces the chance of entrainment by lowering the gas velocity
and, at the same time, acts as an expansion space for the growing catalyst particles. The
reactor was placed in an electric oven and the desired feed gas composition and flow rate
were adjusted by calibrated Bronkhorst mass flow controllers. The local temperature in the
reactor can be measured with the help of thermocouples. The outlet gas is transferred to
a SICK gas analyzer model GMS815P (three measuring modules: Thermor, Oxor-P and
Multor) for gas composition measurement after cooling down, Figure 2.2.
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Fig. 2.1 The fluidized bed reactor with a spherical free-board section.
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Fig. 2.2 Schematic diagram of the experimental setup

In each experiment 1 g of crushed and sieved (500−600 µm) catalyst was loaded into the
reactor, unless otherwise stated (to examine the effect of the parameter). Prior to activation

16



2

2.3 Reactor Model

of the catalyst, the air in the porous catalyst particle was extracted by flowing 2 Ln/gcat/min
nitrogen to the reactor for 30 min. Subsequently the temperature of the reactor was increased
to 250 °C by a ramp of 5 °C/min using 10 vol.%H2 in the feed to actuate the catalyst. The
catalyst was further reduced in 100 vol.%H2 with the same ramp of temperature up to 500 °C.
Afterward, the catalyst was heated up further in nitrogen. Once the reaction temperature was
reached, 4.5 Ln/gcat/min of the predefined gas composition of methane, hydrogen and the
inert gas (nitrogen) was fed to the reactor, and the outlet composition was measured typically
until the catalyst was fully deactivated. Finally, the reactor was cooled down and the product
was collected and weighed.

2.2.3 Product characterization methods

BET surface area and pore volume measurements have been carried out for the used catalyst
using Thermo Fisher Scientific Analyzer model Surfer. The oxidation temperature of the
produced carbon was measured in the air via Thermo Gravimetric Analysis (TGA) to
characterize the products. The surface composition of the fresh and used catalyst was
analyzed by X-ray Photoelectron Spectroscopy (XPS) measurements on Thermo Scientific
K-Alpha XPS with an Al source (1486.6 eV). The structure of carbon nanomaterials was
obtained by performing Transmission Electron Microscopy (TEM) imaging of the samples
of the products on a FEI cryo TEM TITAN 300 kV.

2.3 Reactor Model

2.3.1 The plug flow reactor model

The composition of the gas entering the reactor is known and the same as the predefined values
for each experiment. However, as the gas passes through the reactor methane is consumed
and hydrogen is produced. Therefore, the composition of the gas, and consequently the
reaction rate, varies along the height of the bed, whereas only the outlet conversion can be
compared with the experimental data. This conversion is calculated by a Plug-Flow Reactor
(PFR) model, Equation 2.6. See Figure 2.3-a.

dX
dw[gcat ]

=
−r0[mol/min/gcat ]

FA0 [mol/min]
, X(0) = 0 (2.6)

where X is conversion, FA0 is the molar flow rate of methane to the reactor, and dw is a
fraction of the bed, such that the reaction can be considered constant over the fraction. r0 is
replaced by Equation 2.3. This differential equation is numerically integrated by Runge–Kutta
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fourth-order method (RK4). The equilibrium constant at the reaction temperature, Kp in
equation 2.3, is calculated by equation 2.7 proposed by Kuvshinov et al. [52, 53].

Kp[atm] = 5.0215×105exp
(
−9.12×104

RT

)
(2.7)

The local partial pressures of methane and hydrogen are updated by Equation 2.8 and
2.9. Finally, the kinetic parameter of Equation 2.3 was fitted by comparing the conversion of
the last section of the fluidized bed with the maximum conversion obtained from each of the
experiments.

PCH4 =
(1−X)PCH4

1+X
(2.8)

PH2 =
2XPCH4 +PH2

1+X
(2.9)

2.3.2 Dynamic model

Over time as the carbon products are being formed, the catalyst particles grow in size and
weight with different rates. This growth can reach a point where some of the particles become
too heavy to be fluidized by the available gas flow rate. Therefore, they settle down at the
bottom of the reactor. These segregated particles are exposed to the fresh feed entering
the reactor with a higher concentration of methane and lower concentration of hydrogen
compared to the upper parts of the reactor. As a result, they grow faster and they also
deactivate quicker than the rest of the particles. Over time more and more particles are
segregated and deactivated until the whole bed is deactivated.

In order to predict the deactivation of the catalyst and determine the parameters of
equation 2.4 it is crucial to model this complex behavior over time. In order to obtain a
predictive model for the deactivation, the model described in section 2.3.1 is run for each
time step starting from the beginning of the reaction until full deactivation. At the end of
each time step, the total consumed methane and produced hydrogen and solid carbon are
calculated and used to update the particle size. Then the minimum fluidization velocity of the
particles is calculated for fine and coarse particles with equations 2.10 and 2.11, respectively
[54].

Rep,m f = [33.72 +0.0408Ar]1/2 −33.7 (2.10)

Rep,m f = [28.72 +0.0494Ar]1/2 −28.7 (2.11)

18



2

2.4 Results and discussion

where Rep,m f is the Reynolds number of the particles, equation 2.12, and Ar is the Archimedes
number calculated by equation 2.13.

Rep,m f =
ρgum f dp

µ
(2.12)

Ar =
d3

pρg(ρp −ρg)g
µ2 (2.13)

By growing the particles the minimum fluidization velocity increases and the ratio of
gas velocity to the minimum fluidization velocity, u/um f decreases. The moment that u/um f

is not sufficient to maintain fluidization (u/um f < 1.2 this ratio is dependent on the reactor
and particles properties), the bottom part of the bed is separated from the rest of the reactor
(Figure 2.3-b), and the particles are not mixed with the top part anymore. The inflow of
gas to the top part is higher due to the production of 2 moles of hydrogen for each mole of
consumed methane in the segregated section. Therefore, the ratio u/um f can be high enough
for the fluidization of the particles in the upper sections of the bed. Due to further growth of
the particles, the segregated zone propagates along the reactor and eventually, the entire bed
becomes segregated as shown in Figure 2.3-c.

This is a phenomenological 1D model representing the evolving reactor and therefore,
radial difference, wall effect, channelization, and bubble formation are neglected. Before the
particles in the first section start segregating, all the particles are fluidized and well-mixed
in the reactor. Therefore, the particles grow at the same rate at this stage. Segregation only
occurs if the carbon yield is high enough (mostly in cases with lower temperatures or if
hydrogen is added to the feed). Due to segregation, particles are not mixed any more. The
growth rate is higher at the bottom of the reactor but there the deactivation starts earlier.

2.4 Results and discussion

2.4.1 The effect of operating conditions

Many experiments were conducted by systematically altering the settings of operating
temperature, gas concentrations, catalyst particle size and WHGV. All results were confirmed
with at least one duplicate experiment. In these experiments depending on the settings
lifetime varied from 5 min to longer than 12 h where the obtained carbon yield ranged
between 0 gC/gcat to more than 70 gC/gcat (at 550 °C and 70 vol.%CH4-5 vol.%H2).

The max. conversion of the reactor was limited to about 20% because of the very high
SV. It was observed that although at lower SV fluidization occurs with fresh catalyst particles
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Fig. 2.3 The schematic of (a) the initial plug flow reactor model, (b) the reactor model when
only the bottom section is segregated, (c) the reactor model when it is completely segregated.

(um f ≈ 0.1m/s), the heavier and larger particles including the produced carbon (um f depends
on the CY and it can exceed 2m/s for the largest particles) cannot be fluidized and therefore
leads to breaking the reactor. Therefore, the gas flow rate (and as a result, SV) is chosen to be
high enough to mobilize the grown catalyst particles even after hours of carbon accumulation
on them.

Operating temperature

Since the diameter of the reactor is relatively small and the consumed heat by the reaction
is small compared to the heat supplied by the oven, temperature drop along the reactor was
limited to a maximum of 17 °C (at maximum reaction rate at 600 °C and with a feed of
100 %CH4). Figure 2.4 shows that the maximum reaction rate increases as the temperature
is increased as expected. On the other hand, as can be seen in Figure 2.5-bottom, a high
temperature has a negative effect on the lifetime of the catalyst. These findings are in
agreement with literature findings [6, 11]. The carbon yield is a parameter that integrates
both the effects of the maximum reaction rate and the catalyst’s lifetime. Therefore, as shown
in Figure 2.5-top from 550 °C to 650 °C a shorter lifetime can overcome the higher reaction
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rate and carbon yield is significantly lower. However, at lower temperatures the carbon yield
is more affected by lower maximum reaction rate and there is an optimum temperature for
carbon yield between 500−550 °C, balancing initial reaction rate and lifetime of the catalyst.
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Fig. 2.4 The effect of temperature on the maximum reaction rate of the reaction.

500 550 600 650

Temp. (C)

10

20

30

40

50

C
a

rb
o

n
 Y

ie
ld

 (
g

C
/g

c
a

t)

500 550 600 650

Temp. (C)

0

100

200

300

400

500

L
if
e

-t
im

e
 (

m
in

)

100CH4

70%CH4

50%CH4

100CH4

70%CH4

50%CH4

Fig. 2.5 The effect of temperature on the carbon yield (top) and lifetime (bottom).
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Concentration of methane

Figure 2.6 shows that the maximum reaction rate is directly dependent on the volumetric
concentration of methane as the only reactant of the reaction. What stands out in this figure
is that at 550 °C and lower, the maximum reaction rate slightly declines with an increase in
methane concentration to 90 vol.%. A possible explanation for this might be that methane
adsorption is the dominating step at this temperature and saturation of the active sites allows
less neighboring active sites to facilitate the detachment of hydrogen molecules.

One unanticipated finding was that the lifetime of the catalyst is shorter when the
concentration of methane (and therefore the reaction rate) is lower, Figure 2.7, while some
other researchers observed the opposite behavior [21, 28]. This effect is stronger at lower
concentrations or at higher temperatures. We believe that the key difference is the scale of the
reactor. Small reactors can be considered as a differential reactor and all the catalyst particles
are in an environment with the same concentrations as the feed, while in the larger reactors
such as in this work, except for the small portion next to the gas inlet, catalyst particles are in
contact with a gas mixture containing the produced hydrogen. Another difference is that the
methane concentration range in this study is much higher than most of the literature studies
where only mild conditions were tested (max. methane concentration of 7.5% and 42.9%
was tested by Latorre et al. [28] and Henao et al. [21] respectively). High concentrations
lead to higher reaction rate and larger temperature drop along the reactor which is in favor
of a longer lifetime. At higher methane concentrations, larger amounts of hydrogen are
also produced and are present in the reactor. As mentioned in section 2.4.1, the addition
of hydrogen changes the chemical potential and enhances the reverse reaction and converts
the accumulated carbon on the surface of active sites back to methane. This phenomenon
prevents encapsulation of the active sites and renews them, which significantly boosts the
catalyst’s lifetime. Figure 2.7 also reveals that carbon yield is decreased as the methane
concentration is lowered by dilution with nitrogen. This was confirmed by using argon
instead of nitrogen which led to almost the same effect. Analyzing the gas outlet with a mass
spectrometer and also the solid products with XPS tests confirmed that neither nitrogen nor
argon are involved in any reaction and are indeed inert.
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Fig. 2.6 The effect of concentration of methane (diluted by nitrogen or argon) on the maximum
reaction rate of the reaction.
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Concentration of hydrogen

Adding a small fraction of hydrogen to the feed decreases the maximum reaction rate by
promoting the reverse reaction by Le Chatelier’s principle, Figure 2.8. This leads to the
higher refresh rate of the surface of active sites and, as a result a higher lifetime of the
catalyst. Figure 2.9 shows that the carbon yield is improved by introducing small amounts
of hydrogen to the reactor. This behavior was also observed by other researchers such as
Latorre et al. [28].
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Fig. 2.8 The effect of concentration of hydrogen on the maximum reaction rate of the reaction
at 600 °C.
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Fig. 2.9 The effect of concentration of hydrogen on the carbon yield (top) and lifetime
(bottom) at 600 °C.

Particle size

Three different catalyst particle sizes were tested to investigate the importance of mass
transfer limitation in the TCD process. It can be seen from Figure 2.10 that the effect of
changing the particle size from the average diameter of 350 µm to 800 µm on the maximum
reaction rate is very small. This confirms previous findings in the literature [11, 25, 27].
However, over time, the catalyst particle becomes larger and the effect of mass transfer
limitation becomes more important by decreasing both diffusion length scale and pore
volume due to carbon formation (See Table 2.1). These findings are also confirmed by
Weisz-Prater criterion; see the appendix A. Figure 2.11 shows that the carbon yield is directly
affected by the initial size of the catalyst particle. Because mass transfer limitation keeps the
concentrations of methane and hydrogen inside the particles compared with smaller particles
lower and higher, respectively. Therefore, the lifetime of the catalyst is boosted and as a
result, carbon yield is also increased.
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Fig. 2.10 The effect of size of the catalyst particle on the maximum reaction rate of the
reaction in 100 vol.%CH4 and 600 °C.
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Fig. 2.11 The effect of size of the catalyst particle on the carbon yield (top) and lifetime
(bottom) in 100 vol.%CH4 and 600 °C.
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Space velocity (SV)

SV was changed in the experiments while maintaining the volumetric flow rate at 4.5 Ln/min
by changing the amount of the catalyst in the reactor. Lowering the volumetric flow rate
would change the fluidization regime and can lead to breaking the quartz reactor due to
defluidization of the grown catalyst particles and increasing it would turn the reactor at the
beginning of the reaction into a pneumatic riser. Figure 2.12 shows that the reaction rate does
not linearly increase with SV because the local reaction rate decreases along the height of the
reactor. The reaction rate increases due to larger amounts of methane and smaller amounts of
hydrogen available per unit of catalyst. This also explains the catalyst’s shorter lifetime and
lower carbon yield at higher SV, Figure 2.13.
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Fig. 2.12 The effect of SV on the maximum reaction rate of the reaction.
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Fig. 2.13 The effect of SV on the carbon yield (top) and lifetime (bottom).

2.4.2 Characterization of the products

BET measurement results are presented in Table 2.1 and reveal a sharp decrease in the
specific surface area and pore volume compared with the initial catalyst, suggesting the pores
are filled up with carbon. The material density of the produced carbon, including the catalyst,
is much lower than the fresh catalyst. As a result, since carbon is less dense than the catalyst
material containing nickel, the bulk density is also reduced by about 32%. XPS analyses of
the deactivated catalyst showed that all the nickel was in the metallic form and covered by
carbon graphene layers. It suggests that deactivation is happening due to encapsulation of
the active sites, which makes them inaccessible for the methane molecules. It was found that
even in the case of less pure gases (99.5 %) no byproducts (either solid or gas) were formed.

The fraction of carbon that is produced in the form of desired graphene layer structures
can be determined by evaluating the Derivative ThermoGravimetric (DTG) curve of oxidation
temperature. The DTG is defined as the derivative of a TGA curve of the corresponding
oxidation temperature. The highest temperature limit for oxidation of amorphous carbon
reported in the literature is 410 °C [55]. However, Zhang et al. [56] and Hu et al. [57]
reported 365 °C and 350 °C respectively for the oxidation of amorphous carbon and the
carbon that is oxidized in temperatures above these limits is generally accepted to be nano-
structured carbon. Figure 2.14 illustrates the TGA and DTG curve of the carbon produced
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from a feed of 100 %CH4 at 550 °C. Even with considering 410 °C as the limit temperature
of oxidation of amorphous carbon, the lowest purity of the different tested samples was about
96 % nano-structured carbon.
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Fig. 2.14 Thermogravimetric and derivative thermogravimetric of the product obtained in a
feed of 100 %CH4 at 550 °C.

Figure 2.15 shows a TEM image of a cluster of produced carbon nanofibers, CNFs, in
100 %CH4 at 550 °C. The diameters are in the range of 15−80 nm. CNFs produced at the
different operating conditions were in the form of stacked cones; see Figure 2.16. Stacked
cones are also called a fishbone structure and were obtained also in the literature on the nickel
catalyst supported by silica [20, 58].
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Fig. 2.15 TEM image of a cluster of produced CNFs in 100 %CH4 at 550 °C.

Fig. 2.16 TEM image of Two of the produced CNFs in 100 %CH4 at 500 °C including an
active site covered by carbon.
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2.4.3 Kinetic Model

Initial reaction rate

The lifetime of the catalyst for some of the conditions at 650 °C is so short that the maximum
reaction rate could not be measured reliably. At 500 °C, the reaction was limited by thermo-
dynamic equilibrium in some of the operating conditions. Therefore, only the experimental
data obtained at 550 °C, 575 °C and 600 °C were used to find the exact kinetic parameters by
the model described in Section 2.3.1. Table 2.2 presents the kinetic parameters of the TCD
reaction rate, equation 2.3. The average and maximum relative error of equation 2.3, using
parameters from Table 2.2, do not exceed 11% and 22%, respectively.

Table 2.2 Kinetic coefficients of Equation 2.3.

Coefficient Parameter Value Unit
k A 5.940×104 molCH4/atmCH4/gcat/min

E 88 kJ/mol
KH2 AH2 1.871×10−8 atm−3/2

∆HH2 144 kJ/mol
KCH4 ACH4 6.979×10−5 atm−1

∆HCH4 56 kJ/mol

Deactivation factor

The deactivation factor was fitted to the experimental data at 550 °C, 575 °C and 600 °C and
Table 2.3 shows the obtained values. The total carbon yield obtained from each experiment
and the model were compared. The average and maximum relative differences were 13.0%
and 28.7% at the highest. Figures 2.17-2.18 illustrate three examples of the catalyst’s
performance over time in the experiments and predicted by the model at different operating
conditions. Segregation of the reactor as it is described in section 2.3.2 is clearly visible by
drops of the deactivation factor.
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Table 2.3 Parameters of Equation 2.4

Coefficient Parameter Value Unit
kd Ad 18.39 s−1

Ed 147 kJ/mol
kd,C Ad,C 309.87 -

∆Hd,C 26 kJ/mol
kd,CH4 Ad,CH4 −449.02 atm−1

∆Hd,CH4 5.376 kJ/mol
kd,H2 Ad,H2 −0.349 atm−0.83

∆Hd,H2 80.19 kJ/mol
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Fig. 2.17 Comparison of the deactivation factor of experiments and the model in a feed of
50 %CH4 at 550 °C.
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Fig. 2.18 Comparison of the deactivation factor of experiments and the model in a feed of
50 %CH4 and 10 %H2 at 600 °C.

2.5 Conclusions and outlook

In this study, the thermocatalytic decomposition of methane in a fluidized bed reactor was
studied and the corresponding reaction kinetics were established. A commercial nickel on
silica catalyst was used in this study and carbon yields of up to and in excess of 70 gC/gcat

were obtained. The carbon produced was mainly in the form of carbon nanofibers. Its purity
was characterized by TEM, TGA and XPS tests. The produced carbon had at least 96%
purity of fish bone structures.

The effect of operating conditions has been investigated and it was found that at lower
temperature, a larger amount of carbon was produced despite that the maximum reaction
rate was lower. This was due to the delayed deactivation of the catalyst at lower temperature.
Lowering the concentration of methane lowered the maximum reaction rate, lifetime and
carbon yield. Our study has also revealed that although the presence of hydrogen decreases
the maximum reaction rate, a higher carbon yield is achieved due to the longer lifetime of
the catalyst.

A kinetic model describing the maximum reaction rate and the deactivation factor was
developed. This model describes the reaction rate of TCD as a function of time in the
temperature range of 550−600 °C with reasonable accuracy and averaged error in the initial
kinetic rate of 10% and deactivation factors up to 17 %. This model, together with the

33



2

Experimental kinetic study of TCD in a fluidized bed

corresponding commercially available catalyst, can be used for further study of TCD and
reproduction of data.

A very high SV was chosen in this study to facilitate the mobility of catalysts that have
grown due to large depositions of carbon, and to prevent breaking the reactor’s wall. As a
result, the conversion of the gas was limited. On an industrial scale, this can be overcome
with a proper continuous reactor design and partial recycling of the gas stream.
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If from life’s domain a breath takes flight,
Let it be in joy, a radiant light.
Beware, the world’s desire in time you find,
It’s yours to spend, as you’ve designed.

Khayyam
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Numerical modeling of intra-particle
phenomena and the catalyst particle
growth - A MGM model1

1This chapter is based on Hadian, M., Buist, K. A., Bos, A. N. R., Kuipers, J. A. M. (2021). Single catalyst
particle growth modeling in the thermocatalytic decomposition of methane. Chemical Engineering Journal,
421, 129759 [11].
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A Multi-Grain Model

Abstract

ThermoCatalytic Decomposition of methane (TCD) is studied as a method to convert
natural gas into hydrogen and functional carbon. In these processes the carbon
typically formed on top of a catalyst phase leading to particle growth. Therefore,
developing a particle growth model is necessary to understand the limitations of
thermocatalytic decomposition of methane and to assess optimal parameters and
process conditions. This chapter presents a particle growth model to describe the
growth of functional carbon on the catalyst particle. This coupled model requires
kinetic equations and information on deactivation rates which have been studied in
literature. The morphology of the particle changes due to carbon formation, which
leads to eventual deactivation. Therefore, these kinetic expressions are coupled to a
particle growth model based on the analogy with the growth of particles in polyolefin
production. To combine the effects of particle growth, kinetics, and internal heat and
mass transfer, the Multi-Grain Model (MGM) was used. Results confirm that with
the currently available catalysts the carbon yield is not affected by heat and mass
transfer limitations; however, with the availability of more active catalysts these
limitations will become important. Temperature, however, has a significant role in
that it regulates the kinetic rate and thus growth rate, which in turn influences the
catalyst deactivation. The optimum temperature for the production of nano-carbon,
within a reasonable process time, therefore sensitively depends on the choice of
catalyst.

3.1 Introduction

Hydrogen can be produced through different processes from different feedstocks, such
as steam methane reforming, water splitting, and thermocatalytic decomposition of

methane. Steam methane reforming coupled with CO2 capture and storage (CCS) tech-
nologies are the most known and investigated methods in the field of low carbon footprint
hydrogen production. However, the separation of produced CO2 and handling and storage
leads to costs for gas separation and storage management. Water splitting is an energy and
capital-intensive process and increases the final price of hydrogen. By contrast, methane
decomposition to functional carbon materials and hydrogen has advantages to the alternative
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processes, such as the elimination of additional purification/separation units and production
of valuable carbon nanomaterials (tubes or fibers) instead of CO2. The potential applications
of carbon nanomaterials in semiconductors, additives to building materials, energy storage,
and catalytic materials due to their unique physicochemical properties such as high conduc-
tivity, high tenacity and mechanical strength, high specific surface area and semiconductor
properties make TCD more economically and environmentally appealing [12–14, 17, 25, 59].
This chapter presents a more extensive review of the existing kinetic models for TCD com-
pared to the preceding chapter. It is important to note that this chapter precedes chapter 2
and consequently, the kinetic models presented herein have been sourced from the literature.

Methane, in the absence of oxidizing agents or a catalyst (including inert heterogeneities),
decomposes naturally to hydrogen and amorphous carbon at high temperatures, >1300°C
(reaction 5.18) [6]. The addition of a catalyst facilitates the decomposition of methane in
two ways. First, the activation energy and therefore the required temperature for conversion
decreases (between 500°C to 950°C dependent on the active material of the catalyst); Second,
solid carbon can be produced in specific nano-structured shapes, depending on the support
and active materials of catalyst and operating conditions. Nickel, iron, copper, and carbon are
the most common materials used as the active sites of the catalysts. Many studies have been
performed on the catalyst preparation, different support and active materials, thermodynamics
and kinetics of the thermocatalytic decomposition of methane [10, 14, 16, 17, 60]. In general,
nickel has the highest activity and rate of methane decomposition. Compared to the others,
Nickel is active in a lower temperature range and is more likely to deactivate. However, the
addition of a second (or even a third) metal such as iron or copper, to the nickel, has shown
improved stability at higher temperatures and less deactivation [46–49].

CH4(g)−−→ C(s)+H2(g) ∆H(298K) =+74.52kJ/mol (3.1)

Despite the high potential of TCD for producing carbon nanomaterials and CO2-free
hydrogen, it is greatly restricted for industrial applications due to inadequate productivity,
uncertainties of process performance and operational challenges coming from carbon for-
mation [14]. Therefore, in addition to studies on catalysts, the TCD reactor and process
have to be developed, designed and controlled thoroughly to become feasible at an industrial
scale. For a rational reactor and process design, modeling and experimental studies can
provide the required understanding and basic data for this. This understanding facilitates the
identification of optimal process conditions for maximum carbon nanomaterial production.
Modeling of the catalyst performance as a function of equivalent process time is critical
for understanding and predicting the product and catalyst evolution in the reactor. This
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performance can be expressed with the ratio of the mass of produced carbon to the mass of
fresh catalyst used, called carbon yield (Equation 3.2) and the change in catalyst particle size
and density.

carbon yield =
mass o f produced carbon (g)
mass o f original catalyst (g)

(3.2)

In the literature, including the work of Ashik some studies have been reported on modeling
at the molecular scale [14, 61, 62], which helps scientists in catalyst evaluation and to develop
a microscopic level of understanding of the complete chemical transformation. Although
these models are helpful in understanding reaction mechanisms, a model that properly
describes the behavior of a catalyst at the macro level has not been reported to the best of our
knowledge. In particular, the formation of a functional carbon layer onto the catalyst phase
leads to particle growth [14]. The particle size and thus, growth is a crucial parameter in
designing a reactor. In the present chapter, for the first time, the multi-grain model (MGM)
based on the analogy with the growth of polyolefin particles is developed to describe the
macroscopic behavior of growing particles in the TCD of methane. The model couples
different phenomena involved inside the catalyst particle (which is called macroparticle in
this study) such as heat and mass transfer and chemical reaction. A short review of kinetic
studies in the literature is provided in section 3.2. In section 5.2, the model description is
presented. The model validation and its reactor predictions assessed in sections 3.4 and 5.3,
respectively.

3.2 Short review of kinetics in literature

In TCD, the activity of the catalyst and kinetic rate of reaction decreases over time due to
deactivation. The actual rate of reaction at time t > 0 is described using two parameters: the
initial reaction rate and a time-dependent deactivation factor.

3.2.1 Initial reaction rate

The initial reaction rate and the reaction mechanism have been studied extensively [14].
Douven et al. and Yadav et al. proposed reaction rate equations for carbon nanotubes (CNT)
production by TCD of the methane which is only dependent on methane concentration
[13, 63], (see Equation 3.3 below). Yadav found out that multi-walled CNT is produced with
a different kinetic rate than single-walled CNT, both only depend on the concentration of
methane [24], (see Equation 3.4). Ashik et al. 2017 proposed Equation 3.5 for the initial
reaction rate which also does not depend on the hydrogen concentration [64].

40



3

3.2 Short review of kinetics in literature

r0[kmolCH4/kgcat/s] =
K1PCH4[atm](

1+
K1PCH4 [atm]

K2

)2 (3.3)

r0[kmolCH4/kgcat/s] =
K1PCH4[atm](

1+
K1PCH4 [atm]

K2

) (3.4)

r0[mmolCH4/gcat/min] = kpP1.4
CH4

[atm] (3.5)

The majority of studies have revealed that the hydrogen concentration has a negative
effect on the initial reaction rate due to thermodynamic factors equilibrium and occurrence
of the reverse reaction [6, 25, 27, 65–67]. The kinetic models presented in equations 3-5
must, therefore be regarded as a simplified form of the actual kinetics. The equations (6-8)
that involve the effect of the hydrogen concentration have a very similar form, but differ
mostly in the expression in the denominator. Amin et al. [6] and Snoeck et al. [66] derived
Equation 3.6 while Borghei et al. [27] suggested different powers for H2 and CH4, Equation
3.7, which may be due to the use of a different catalyst and the specific operating conditions
used in their studies [6, 27, 66]. Saraswat et al [25] have reported a more extended form
of the reaction rate, equation 3.8, which includes effects of hydrogen and methane partial
pressures in Langmuir-Hinshelwood type of expressions [25].

r0[mmolCH4/gcat/min] =
k(PCH4[atm]−PH2

2[atm]/Kp)(
1+KH2PH2

1.5[atm]+KCH4PCH4[atm]
)2 (3.6)

r0[molCH4/gcat/hr] =
k(PCH4[atm]−PH2

2[atm]/Kp)(
1+KH2PH2

0.5[atm]+K∗
H2

P1.5
H2

[atm]
)2 (3.7)

r0[molCH4/gcat/s] =
k1PCH4 [atm]− k2PH2

2[atm](
1+ k3PCH4[atm]+ k4PH2

0.5[atm]+ k5PH2[atm]+ k6PH2
1.5[atm]

)2

(3.8)
According to the literature [6, 25, 67] The most likely mechanism of the reaction is based on
molecular adsorption of methane as the first step, followed by a series of dehydrogenation
reactions that take place one by one until it ends with separate adsorbed carbon and hydrogen
atoms. Detachment of the first H from CH4 is known to be the slowest and the rate-
determining step. Every two adsorbed hydrogen atoms form a single H2 molecule, which is
released from the catalytic surface. The carbon atom, however, can diffuse into the nickel
catalyst and either forms nanomaterials or encapsulates the active site.
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3.2.2 Deactivation factor

The ratio of the reaction rate at time t to the initial reaction rate (Equation 3.9) is called the
deactivation factor. The deactivation factor expresses the stability of the catalyst over time,
which is a crucial factor in order to obtain a high carbon yield.

a =
r(t)
r0

(3.9)

Several different empirical or semi-empirical equations for the deactivation factor have
been defined. Borghei [27] proposed Equation 3.10 for the deactivation factor, where b, c and
d are constants and kd is defined by an Arrhenius type of temperature dependency. Douven
[13] reported that deactivation is reversible and probably due to the formation of amorphous
carbon and encapsulation of active sites. Douven used a sigmoid Equation (3.11) as the
deactivation factor, where parameter b is assumed to have only temperature dependency
however, parameters t0 and c decrease slightly as the methane partial pressure increases.

a =
1(

1+(d −1)kdPc
CH4

[atm]Pb
H2
[atm]t[min]

)1/(d−1)
(3.10)

a = d −b tanh
(

t[s]− t0
c

)
(3.11)

Equation 3.12 is proposed by Amin et al. [6] and is based on the proposed mechanism
in 3.2.1, the mass balance of species on the surface of the catalyst and the assumption that
all the reaction steps except one are in equilibrium. So, the concentrations of intermediate
species are negligible. All parameters (Kd , Kd,C, kd,CH4 and kd,H2) are temperature dependent
following the Arrhenius equation and are determined by fitting the expression to experimental
data.

a =

 1

1−0.5kd

(
kd,C + kd,CH4PCH4 + kd,H2P0.83

H2

)
t

−0.8

(3.12)

3.3 Model description

For our model of the TCD reactor and the particle growth over time, the following physical
phenomena have to be taken into account:

1. The transport of species into and out of the particle, being the diffusion of methane
into the catalyst pores and diffusion of hydrogen out of the catalyst pores.
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2. The heat transfer into the macroparticle to provide the heat for the strongly endothermic
reaction. This includes the transfer from the bulk gas to the external surface of the
macroparticle, conduction within the macro macroparticle as well as conduction within
the grains.

3. The decomposition of methane on the active sites of the macroparticles into hydrogen
and solid carbon.

4. The accumulation of solid carbon onto the catalyst, with consequential catalyst growth
and deactivation of the catalyst.

These phenomena are very similar to the olefin polymerization, which also experiences
particle growth of the macroparticle due to solid product formation. For the solids formation
and particle growth different modeling approaches have been developed [68, 69]. For
our TCD process, the most appropriate model, capable of modeling particle growth and
convenient for further development to include fragmentation [70], is the Multi-grain model
(MGM).

MGM is based on two assumptions. Firstly, the macroparticle is spherical with only
profiles in the radial direction. So, it is a 1D model in the radial direction. Secondly, the
macroparticle is composed of layers of identical non-porous grains (microparticles) with
active sites on their surface[69–73]. The growth and evolution of the macroparticle are
due to the accumulation of produced carbon on the surface of grains. Figure 3.1 shows the
schematic of both the concepts of macroparticle and internal grain layers before and after
the reaction takes place. Figure 3.1 (a) shows the schematic of a fresh porous macroparticle
consisting of layers of non-porous grains illustrated as black spheres. Figure 3.1 (b) shows a
circular sector of the same macroparticle after entering the reactor. The gray shell around
each grain is the produced carbon on the grain.

3.3.1 Mass transfer

Methane and hydrogen diffusion through the macroparticle’s pores and through the accumu-
lated carbon layer surrounding the catalyst fragments is modelled at two different scales. At
the scale of the macroparticle the process is modelled by the diffusion-reaction equation in
spherical coordinates:

∂M(r, t)
∂ t

=
1
r2

∂

∂ r

(
Der2 ∂M(r, t)

∂ r

)
−R(r, t) (3.13)
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Fig. 3.1 Schematic of macroparticle and layers of grains in MGM model. (a) The fresh
catalyst is composed of layers of grains. (b) A circular sector of the macroparticle with
produced carbon on the surface of grains. The grain cores are illustrated as black circles and
the gray shell around them is the layer of produced carbon.

Where M is the molar concentration of a component, r is the radial position in macroparticle
and De is the effective diffusivity of the considered component. R(r, t) is the average rate of
reaction at a given radial position:

R(r, t) =
(1− ε)

Ng,r

∑
g=1

(
4πR2

g0 .r(t)
)

4
3π

(
r3 − (r−dr)3

) (3.14)

Where ε is the porosity of the catalyst, Ng,r is the number of grains at radial position r and
Rg0 is the radius of the core of the grains. Equation 3.13 can be solved with the following
boundary and initial conditions:

∂M(0, t)
∂ r

= 0 (3.15)

De
∂M(R, t)

∂ r
= km(M−Mb) (3.16)

M(r,0) = M0 (3.17)

km is the external mass transfer coefficient of the macroparticle, Mb is the external
concentration and M0 is the initial concentration in the particle.

The concentration at the grain scale is also modelled by the diffusion equation in spherical
coordinates, Equation 3.18. Considering the assumption that the core of the grains is non-
porous, so there is no hydrogen or methane inside the core of the grains. Therefore, the
boundary conditions, Equations 3.19 and 3.20 are defined at the surface of the core and outer
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surface of the grain particle.

∂M(rg, t)
∂ t

=
1
r2

g

∂

∂ rg

(
Dpr2

g
∂M(rg, t)

∂ rg

)
(3.18)

Dp
∂M(Rg0, t)

∂ rg
= r(t).CF (3.19)

M(Rg, t) = M(rg,r, t) (3.20)

Where rg is the radial position in the grain, Dp is the diffusivity in the product layer around
the grains, Rg is the radius of whole grain and rg,r is the position of grain in the macroparticle
(Figure 3.1) and CF is the unit conversion factor. The initial condition is the same for the
macroparticle (Equation 3.17). Equations 3.13-3.17 are solved only once during each time
step for the macro macroparticle, while equation 3.18 and its initial and boundary conditions
are solved for all the internal grain layers at each time step.

3.3.2 Heat transfer

The heat transfer mechanism at both scales is based on conduction. The temperature profile
in the macro-particle is calculated by Equation 3.21:

∂T (r, t)
∂ t

=
1
r2

∂

∂ r

(
kh

ρCP
r2 ∂T (r, t)

∂ r

)
− ∆H

ρCP
R(r, t) (3.21)

Where kh, ρ and CP are the heat conductivity, the density and the specific heat capacity
of the macroparticle, respectively, ∆H is the heat of reaction and R(r, t) is obtained from
Equation 3.14. Equation 3.21 can be solved with the following initial and boundary conditions
(Equations 3.22 to 3.24):

∂T (0, t)
∂ r

= 0 (3.22)

kh
∂T (R, t)

∂ r
= h(T −Tb) (3.23)

T (r,0) = T0 (3.24)

h is the external convective heat transfer coefficient outside the macroparticle which can be
estimated from the Gunn correlation, T0 and Tb are respectively the initial temperature and
the temperature outside the macroparticle.
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The radial temperature profile in the grains can be obtained from the heat conductivity
equation in spherical coordinates for the whole domain of the core of the grain and the layer
of the carbon product. However, the heat conductivity, density and specific heat capacity (kg,
ρgr and CPg) have different values in the core of the grains and in the product layer.

∂T (rg, t)
∂ t

=
1
r2

g

∂

∂ rg

(
kg

ρgrCPg

r2
g

∂T (rg, t)
∂ rg

)
(3.25)

kg
∂T (Rg0, t)

∂ rg
= r(t).CF.∆H (3.26)

T (Rg, t) = T (rg,r, t) (3.27)

One can notice the analogy between mass and heat transfer at both scales of the macropar-
ticle and the grains.

3.3.3 Reaction kinetics

In this study, Equation 3.6 and 3.12 and corresponding parameter values are provided in
Table 3.1 and are used in the model as the initial reaction rate and deactivation factor of
reaction [6]. Carbon formation increases the radius of the grains and, consequently the size
of the macroparticles. The growth rate of the radius of the grains is calculated by Equation
3.28 and the growth rate of the macroparticle equals the summation of the growth rate of all
grain layers, Equation 3.29.

∂Rg

∂ t
= MWCH4

R2
g0 r(t)

ρcarbonR2
g

(3.28)

∂R
∂ t

= 2

[
Ng

∑
1

∂Rg

∂ t

]
(3.29)
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Table 3.1 Kinetic parameters of equation 3.6 and 3.12, taken from [6].

Constant Parameter Value
k A 4.64×107 mmolCH4/gNi/min/atm

E 88 kJmol−1

KH2 AH2 2×10−8 atm−3/2

∆HH2 144 kJmol−1

KCH4 ACH4 3.75×10−5 atm−1

∆HCH4 56 kJmol−1

KP AP 4.38×10−5 atm
∆HP −88.21 kJmol−1

CF 2.49×10−8 molmingNi/(mmolsm2)

kd Ad 4904
Ed 147 kJmol−1

kd,C Ad,C 313
∆Hd,C 26 kJmol−1

kd,CH4 Ad,CH4 −4082 atm−1

∆Hd,CH4 3.56 Jmol−1

kd,H2 Ad,H2 −0.34 atm−0.83

∆Hd,H2 81 kJmol−1

3.4 Verification of the model

The performance and the results of the model are validated by comparing its results with
analytical solutions and results obtained from an independent PDE solver. Two limiting cases
are used to verify the implementation of the model. In the simplified case 1, it is assumed that
there is only one layer of micro grains, the mass transfer limitation is low, and the reaction is
first order without deactivation. In this case, the mass of carbon produced is calculated by
Equation 3.30:

carbon produced (kg) = (4πR2
g0.N.t.k.MCH4 .MMCH4) (3.30)

Where Rg0 is the radius of the core of micro grains, N is the number of micro grains in the
only available layer in the macroparticle, t is the time passed since the start of the reaction, k
is the kinetic coefficient of the first-order reaction per surface area of grain core (mol/m2)

and MMCH4 is the molar mass of methane. Figure 3.2 illustrates the high accuracy of MGM
in case 1, by showing that the MGM results matches the Equation 3.30.

In case 2, again, it is assumed that the reaction is first order in methane and independent
of the hydrogen concentration without any deactivation (r = k.PCH4). The second assumption
is that the reaction takes place uniformly in the macroparticle. Finally, it is assumed that the
physical properties of the macroparticle do not change with time as the reaction proceeds. In
these conditions, the methane concentration profile inside the particle can be calculated at
any time by solving Equation 3.31 and its associated initial and boundary conditions.
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Fig. 3.2 Verification of the model by comparing the results of simplified case 1 with exact
solutions. The curves of MGM results and exact data calculated by Equation 3.30 are matched
with very high accuracy.

∂M(r, t)
∂ t

=
1
r2

∂

∂ r

(
Der2 ∂M(r, t)

∂ r

)
− k.M(r, t) (3.31)

M(r, t = 0) = M0

∂M(r = 0, t)
∂ r

= 0

M(r = R, t) = Mb

The set of equations can be rewritten in dimensionless from via the definition of the following
dimensionless quantities:

M̂ =
M
Mb

(3.32)

r̂ =
r
R

(3.33)

t̂ =
D
R2 t (3.34)

MT = R

√
k

De
(3.35)
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MT is a Thiele modulus and represents the reaction rate to diffusion rate ratio. By using these
dimensionless quantities in Equations 3.31, they change to:

∂M̂(r̂, t̂)
∂ t̂

=
1
r̂2

∂

∂ r̂

(
r̂2 ∂M̂(r, t)

∂ r̂

)
−M2

T .M̂(r̂, t̂) (3.36)

M̂(r̂, t̂ = 0) = M̂0

∂M̂(r̂ = 0, t̂)
∂ r̂

= 0

M̂(r̂ = 1, t̂) = 1

Equation 3.36 has been solved with an independent PDE-solver (Matlab pdepe solver).
Figure 3.3 compares the results of MGM with the Matlab solver. As is clearly illustrated, the
results of the MGM are in almost perfect agreement with the Matlab solver over time, from
the start of the reaction till the steady state condition has been reached (which is about one
minute in this case). This confirms that the model works correctly and there are no errors in
the calculation methods.
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Fig. 3.3 Verification of the model by comparing the results of simplified case 2 (MT =3.25)
with Matlab PDE solver at different times. Solid lines Matlab PDE solver results and symbols
are MGM output.

3.5 Results and discussion

The results of MGM simulations are evaluated using a sensitivity analysis and assessing
the importance of different parameters and operating conditions in TCD. The temperature
range used in our models is limited to the operating conditions that are used to derive
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the kinetic coefficients of equations 3.6 and 3.12 (temperature: 500-650 ◦C and maximum
hydrogen fraction: 10%) to ensure of the validity of results [6]. Table 3.2 provides the most
important parameters used in the model for the following cases, unless otherwise stated or
the importance of the parameter is evaluated.

Table 3.2 Operating conditions used in the simulations.

Parameter Value
initial macro particle radius 500um
number of microparticle layers 25
reactor pressure 1 atm
reactor temperature 650 ◦C
reactor mole fraction of CH4 1
reactor mole fraction of H2 0
initial Temperature of particle 350 ◦C
methane effective diffusivity in the porous particle 1.36×10−6 m2/s
hydrogen effective diffusivity in the porous particle 5.40×10−6 m2/s
external mass transfer coefficient 2.26×10−2 m3

gas/m2
interface/s

heat conductivity 30 W/m/K
external heat transfer coefficient 622 W/m2

interface/K

3.5.1 Mass and heat transfer limitations

To assess the impact of internal mass transfer limitations, the diffusivity was altered to one
thousand times higher and lower values than the (base case) values stated in Table 3.2. The
results are summarized in Figure 3.4 and reveal that lowering the internal mass transfer rate
does not affect the carbon yield. Hence, for the conditions of Table 3.2 the effect of diffusion
limitation is negligible. On the other hand, if the mass transfer limitation increases to one
thousand times higher, the carbon yield decreases by about 35%.
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Fig. 3.4 Internal mass transfer effect. The results of the cases with one thousand times higher
and lower mass transfer limitations are compared with normal mass transfer limitation
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The importance of internal diffusional resistance is also confirmed by the WeiszPrater
criterion (Equation 3.37) that estimates the importance of the diffusion on the reaction rates in
heterogeneous catalytic reactions [74]. In the normal case, CWP = 9.02×10−4 << 1, which
means that internal mass transfer does not influence the production rate of carbon. However,
in the case with one thousand times lower effective diffusion coefficient, CWP = 0.902,
which implies that for such low diffusion coefficients, internal mass transfer limitation is not
negligible anymore compared to the reaction rate.

CWP =
r0ρR2

DeMb
(3.37)

The same procedure was applied to assess the role of the internal heat transfer limitation,
by changing the thermal conductivity of the solid material composing the macroparticle.
The results are presented in Figure 3.5. Since the carbon yield is not affected by lowering
the heat transfer limitation, for the conditions of Table 3.2 the heat transport resistance is
negligible compared to other factors. However, the carbon yield is decreased dramatically in
the case with 1000 times higher heat transfer limitation. In this case, the temperature in the
macroparticle increases relatively slowly, and as a result, the reaction rate and, therefore the
slope of the curve increases gradually.

In addition, external heat and mass transfer limitations can prevail in the thin film around
the macroparticle. However, it was observed that even with the highest external heat and mass
transfer limitation, meaning a macroparticle in a stagnant gas phase (Nu = 2 and Sh = 2) and
with larger particle sizes (1000 µm), the production rate of carbon is not reduced.
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Fig. 3.5 Internal heat transfer effect. The results of the cases with one thousand times higher
and lower heat transfer limitations are illustrated alongside normal mass transfer limitation
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These observations regarding mass transfer importance and their effect on the TCD
process are in agreement with literature findings derived from both experiments and the
Weisz-Prater criterion [25, 27].

3.5.2 Reaction kinetic effect

Figure 3.6 illustrates in logarithmic scale how much the carbon yield changes if the initial
reaction rate changes by a factor of 1000. Reduction of the reaction rate leads to a decrease
by a factor of 1000 in carbon yield. This finding is another confirmation of the fact that
the reaction is the rate-determining step compared to the mass and heat transfer limitations
(Section 3.5.1). On the other hand, if the reaction is one thousand times faster, the carbon
yield increases around 450 times. This means that in this case, mass and heat transfer
limitations become also important, which again is in agreement with Section 3.5.1.
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Fig. 3.6 The effect of initial reaction rate when it changes one thousand times. In the case
with one thousand times faster kinetics, the carbon yield is increased about 450 times, while
the change for the case with one thousand times slower kinetics difference is about one
thousand times.

3.5.3 Bulk gas concentration effect

As can be seen in Figure 3.7 adding inert gas (which means lowering the methane fraction)
decreases the carbon yield. On the other hand, for a given fraction of methane, increasing the
fraction of hydrogen leads to a lower initial reaction rate and higher durability of the catalyst
against deactivation. These effects are presented in Figure 3.8. These two effects together
lead to higher carbon yield, however, in comparison a pure methane feed yields a higher
amount of carbon in a shorter amount of time.

52



3

3.5 Results and discussion

-2 0 2 4 6 8 10 12 14 16 18
-2

0

2

4

6

8

10

12

14

16

18

ca
rb

on
 y

ie
ld

time (min)

 1.0CH4-0.0H2
 0.9CH4-0.0H2
 0.8CH4-0.0H2

Fig. 3.7 the effect of adding inert gas to the reactor on carbon yield. Lowering the concentra-
tion of CH4 decreases the reaction rate and, consequently the carbon yield.
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Fig. 3.8 The effect of adding hydrogen to the reactor on carbon yield and comparison of the
result with pure CH4 methane as the feed. The rest of gas fraction until 1 is inert gas. Adding
H2 lowers both the reaction and deactivation rates.
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3.5.4 Temperature effect

Temperature has two opposing effects in the TCD process. On the one hand, higher tem-
perature leads to a higher initial reaction rate and therefore a higher carbon production rate.
On the other hand, increasing the temperature results in faster catalyst deactivation and
lowers the final carbon yield. These two phenomena are illustrated in Figure 3.9. At high
temperatures, deactivation proceeds more suddenly instead of gradual deactivation at lower
temperatures. Thus, curves of 600 ◦C and 650 ◦C have a very short flat part, rather than a
longer flat tail.

Increasing the temperature between 500 ◦C to 650 ◦C leads to a lower carbon yield due
to the increased deactivation rate. However, it should be noted that this slightly lower amount
of carbon is produced in a significantly shorter period of time. Therefore, in the examined
conditions and with the used kinetic model, the optimum operating conditions will depend
on economic considerations. It should be noted that using a different catalyst (and as a result,
different kinetic models) may change this optimum condition.

0 50 100 150 200 250 300

0

5

10

15

20

25

ca
rb

on
 y

ie
ld

time (min)

 500C
 550C
 600C
 650C

Fig. 3.9 The effect of operating temperature on the carbon yield. Higher temperature leads to
higher initial reaction rate (initial slope of the curves) and faster deactivation (endpoint of
curves).

3.5.5 Effect of number of micro grain layers

The number of micro grain layers in the macroparticle is a model parameter that is not
straightforward to measure or estimate, as previous parameters were. As Figure 3.10 shows,
this number significantly impacts the carbon yield. The effect of the number of grain layers
is not linear and becomes stronger with an increase in the number of layers. Although
physically, the number of micro grain layers can be translated to the specific surface area of
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the macroparticle, the internal structure of an actual catalyst particle is more complex than
the structure defined by many layers of identical spheres. Therefore, the number of grain
layers will be used as the tuning parameter of the model against validated data.
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Fig. 3.10 The effect of the number of grain layers. There is a positive relation (non-linear)
between the number of micro grain layers in the model and the predicted carbon yield.

3.6 Conclusions

A Multi-Grain Model has been developed to model the heat and mass transfer inside macropar-
ticles coupled with the decomposition reaction of methane. The reaction rate model and
deactivation factor from Amin [6] are used, however, the model is suitable for the use of
other kinetic models which can be easily accommodated.

The effect of operating conditions and model parameters has been investigated by sensi-
tivity analyses and it was found that the heat and mass transfer rates do not limit the carbon
production rate and consequently, the reaction is the rate-limiting step of the process. This
fact is in agreement with experimental findings respected in the literature. However, if a
catalyst is made with one thousand times higher ratio of kinetics rate to the mass and heat
transfer rates (either by increasing the reaction rate or decreasing the mass and heat transfer
rates), the heat and mass transfer limitations will affect the final carbon yield.

It was found that, the presence of hydrogen causes a decrease in the reaction rate, however
a higher carbon yield is achieved due to delayed deactivation of the catalyst. Moreover,
increasing the operating temperature leads to a faster initial reaction rate and faster catalyst
deactivation and hence an optimal, process-dependent, temperature exists.
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As waves, mere stillness we cannot bear.

Saeb Tabrizi



4
Coupling of MGM with CFD-DEM1

1This chapter is based on M. Hadian, M. J. A. de Munck, K.A. Buist, A.N.R. Bos, J.A.M. Kuipers, (2023),
Modeling of a catalytic fluidized bed reactor via coupled CFD-DEM with MGM: from intra-particle scale to
reactor scale. Submitted to Chemical Engineering Science
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Abstract

The Computational Fluid Dynamics - Discrete Element Method (CFD-DEM) method
is extended by coupling with the multi-grain model (MGM) to include intra-particle
phenomena such as heat and mass transfer, reaction, and solid deposition next to
the inter-particle and fluid-particle interactions in the reactor. This comprehensive
model treats each particle individually and accounts for changes in particle properties
due to temporal and spatial variations of the process conditions. It also captures
the impact of the change in the particles’ properties on the fluidized bed reactor
characteristics, such as the hydrodynamic regime. The results of the model revealed
that the fluidization characteristics and solids mixing are altered by particle growth.
Particle growth also led to the formation of a particle size gradient along the height
of the reactor. The coupling allows for monitoring of both external and internal mass
transfer limitations. For the adopted reaction kinetics, growth rate and properties,
the external mass transfer limitations remained negligible, however the internal mass
transfer limitation plays a significant role in the process performance.

4.1 Introduction

Many chemical processes such as polymerization, oxidative coupling of methane, and
ThermoCatalytic Decomposition of methane (TCD), utilize catalytic fluidized bed

reactors. In a catalytic fluidized bed, the scale of the effective phenomena can vary from
the mass and heat transfer within the micro-scale of a porous particle to the interaction of
particles with each other and the fluid phase and the scale of the reactor when it comes to
solids circulation patterns. Modeling these multi-phase phenomena is crucial in developing
and optimizing the process. Numerical simulations with multi-scale models enable engineers
to investigate multiphase flows in industrial chemical processes.

Computational Fluid Dynamics – Discrete Element Method (CFD-DEM) is known as a
multi-scale Eulerian-Lagrangian technique to simulate processes involving fluid and solid
particles [75–78]. CFD-DEM is a powerful method to model systems that include multi-scale
solid-fluid interactions such as encountered in fluidized beds, spouted beds and pneumatic
conveyors. Although CFD-DEM covers a wide range of the mentioned scales and can include
heat and mass transfer between the continuous and discrete phases, it mostly assumes uniform
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(lumped) conditions inside the particles (Bi ≤ 0.1) for both heat and mass and it lacks the
intra-particle phenomena [76, 79–81]. In some processes, such as polymerization or TCD,
catalyst particles can grow in size and therefore, the Biot number changes over time and from
particle to particle and may exceed this limit.

Several publications have explored the use of CFD-DEM models in conjunction with
intra-particle models to investigate biomass pyrolysis in FBR. Wang et al. have extended
the CFD-DEM model by incorporating a 1D thermally thick model to capture internal
heat transfer and heat of reaction [82]. Oyedeji et al. have employed a CFD-DEM model
coupled with a 2D model to simulate cylindrical biomass particles [83, 84]. In another
study, the impact of biomass shape was investigated using a 3D glued-spheres particle model
[85]. While these models offer valuable insights for fundamental research, they can be
computationally expensive. Furthermore, none of these models account for the influence of
intra-particle reactions on FBR hydrodynamics.

In an earlier contribution, the authors developed the Multi-Grain Model (MGM) that
models the particle growth by combining the surface reaction and deactivation kinetics, as
well as intra-particle heat and mass transfer of reactants and products [11]. MGM provides
insight into the importance of effective phenomena in an isolated particle and the change of
particle parameters such as size and density [11, 69, 70]. However, it does not include the
consequence of this evolution on the reactor characteristics, such as the hydrodynamics of
the bed.

The particle properties and the overall reactor conditions as well as local conditions, can
significantly affect each other [86]. Therefore, coupling CFD-DEM with MGM combines
the potential of both approaches and allows us to capture the effects of dynamic catalyst
characteristics on the reactor conditions and vice versa. One example is the influence of
the increased particle size and mass on the fluidized bed hydrodynamics. Besides, studying
the temperature and concentration profiles and their importance in the reactor is possible.
As a result, the combined CFD-DEM-MGM methodology produces a more comprehensive
representation of reality and is expected to produce more accurate results. This model enables
engineers to predict the reactor performance over time and optimize the design and conditions
of the reactor for industrial processes such as TCD and polyolefins production.

The outline of this chapter is as follows: in section 5.2 the coupled CFD-DEM-MGM
model and the implementation of the coupling are described. In section 4.3 the implemen-
tation of the method is verified using analytical solutions. The results and discussion are
presented in section 5.3. Finally, in section 5.4, the conclusions are presented.
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4.2 Model description

CFD-DEM-MGM consists of three sub-models that are coupled with each other. CFD is
responsible for modeling the continuous (gas) phase, including the momentum, energy and
mass of species balances. DEM models the interaction of the particles with the gas phase,
heat and mass transfer and drag and the interactions of the particles with each other and the
reactor walls, collisions. MGM handles the heat and mass balance at the smallest scale: the
reaction and mass deposition inside each of the particles individually.

4.2.1 Gas phase modeling

The gas phase is described by the volume-averaged Navier-Stokes equation (4.1) and the
continuity equation (4.2):

∂ (ε f ρ f u f )

∂ t
+∇ ·(ε f ρ f u f u f ) =−ε f ∇Pf −∇ ·(ε f τ f )+ ε f ρ f g−Sp (4.1)

∂ (ε f ρ f )

∂ t
+∇ ·(ε f ρ f u f ) =

nc

∑
i=1

Sm,i (4.2)

In all equations, the subscript f indicates the fluid phase and p is the particulate phase. ε

is the gas volume fraction in the cell, ρ the density, uf the fluid velocity and Pf the pressure.
τ f is the gas phase viscous stress tensor, provided by equation 5.4, which is assumed to
follow the general Newtonian form:

τ f =−µ f

[
(∇u f )+(∇u f )

T − 2
3
(∇ ·u f )I

]
(4.3)

where µ f is the shear viscosity, and I the unity tensor. Sm,i is the mass source of component
i in the cell and is detailed in section 4.2.2. The fluid is assumed to be gas, thus the fluid
density, ρ f is dependent on the gas composition and is calculated according to the ideal gas
law, equations 4.4 and 4.5 respectively.

MWmix =
nc

∑
i=1

yiMWi (4.4)

ρ f =
PMWmix

RTf
(4.5)

where Mi is the mass concentration of the component i , yi the mole fraction of component i,
MWi and MWmix are the molar mass of component i and the mixture.
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Sp in equation 4.1 is the source term accounting for coupling of momentum exchange
between the fluid and the particles given by equation (4.6):

Sp =
1

Vcell

Np

∑
a=0

Vp,aβa

1− ε f
(u f −vp,a)D(r− rp,a) (4.6)

where Vcell and Vp,a represent the local cell volume and the volume of particle a. Due to
the growing nature of particles, the poly-disperse drag correlations proposed by Sarkar
and Beetstra [87, 88], equations 4.7 and 4.8 are used to calculate the interface momentum
exchange coefficient, β . The distribution function, D, ensures that the drag force acts as
a point force at the particle’s center of mass [89]. The mapping of local properties from
the Eulerian grid to Lagrangian particle positions and vice versa is performed by using a
volume-weighing techniques developed by Hoomans et al. [90].

βa =

[
dp,a

⟨d⟩
+0.064

(
dp,a

⟨d⟩

)3
]

βmono(ε f ,⟨Re⟩) (4.7)

βmono(ε f ,⟨Re⟩) = 180
µg(1− ε f )

2

⟨d⟩2
ε f

+18
µgε3

f (1− ε f )(1+1.5
√

(1− ε f ))

d2
p

+0.31
µg(1− ε f )⟨Re⟩

⟨d⟩2
ε f

[
ε
−1
f +3ε f (1− ε f )+8.4⟨Re⟩−0.343

1+103(1−ε f )Re−2.5+2ε f

]
(4.8)

Where ⟨Re⟩ is the average Reynolds number in the cell, equation 4.9, calculated by the Sauter
mean diameter, equation 4.10.

⟨Re⟩=
ε f ρ f (|u f −vp,a|)⟨d⟩

µ f
(4.9)

⟨d⟩=

Ncell
∑

a=1
d3

p,a

Ncell
∑

a=1
d2

p,a

(4.10)

with Ncell indicating the total number of particles in the computational cell and vp,a is the
velocity particle a.

The gas phase thermal energy balance is given by equation 4.11:

Cp f

[
∂ (ε f ρ f Tf )

∂ t
+∇ ·(ε f ρ f u f Tf )

]
= ∇ ·(ε f Keff

f ∇T )+Qp (4.11)
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T is temperature, and Qp represents the energy source term originating from the energy
transport between the fluid and the particulates detailed in section 4.2.2. Keff

f is the effective
thermal conductivity of the fluid, which is calculated from the thermal conductivity of the
fluid, K f , and the fluid volume fraction, ε f , via equation (4.12):

Keff
f =

1−
√

1− ε f

ε f
K f (4.12)

The component mass balance is described by equation 4.13 considering convection,
diffusion and a source term due to mass exchange with the catalyst particles:

∂ (ε f M f ,i)

∂ t
+∇ ·(ε f M f ,iuf) = ∇ ·(ε f Deff

f ,i∇M f ,i)+Sm,i (4.13)

where M f ,i is the mass concentration of components in the fluid, and the effective diffusivity
of component i in the fluid, Deff

f ,i, is calculated similarly as Keff
f , using equation 4.14. Sm,i is

the gas-particle mass source term transfer of component i and is defined in section 4.2.2

Deff
f ,i =

1−
√

1− ε f

ε f
D f i (4.14)

4.2.2 Discrete phase modeling

DEM

The trajectory of individual particles in DEM are tracked by Newton’s second law of motion,
equation 4.15. Forces acting on the particle are on the right-hand side. These forces include
the pressure gradient force, drag force, gravitational force and collisional forces, respectively.
The particle-particle and particle-wall collisions are described by the soft-sphere model
developed by Cundall and Strack [91]. In this approach, the contact forces are calculated
using a linear spring and dashpot model [89, 92, 93].

mp,a
dvp,a

dt
= mp,a

d2rp,a

dt2 =−Vp,a∇Pf +
Vp,aβp,a

1− ε f
(u f −vp,a)+mp,ag+∑Fcontact,p,a (4.15)

in which rp,a and mp,a are the position and the mass of the particle a.
The rotational motion of the particle is computed using equation (4.16).

Ip,a
dwp,a

dt
= Tp,a = ∑

b∈contact list
(rp,anab ×Fab,t) (4.16)
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Fig. 4.1 Schematic diagram of heat and mass transfer coupling steps between fluid and
particles.

where Ip,a is the moment of inertia, wp,a is the rotational velocity and Tp,a is the torque.
The mass and heat transfer between the fluid and particles is performed in 7 steps, as

shown in Figure 4.1. In each time step, the local fluid temperature and concentration at the
particle position are obtained. The local gas-particle heat and mass transfer coefficients are
calculated. These transfer coefficients are used in the multi-grain model. As described in
section 4.2.2, the particle surface temperature and concentrations are subsequently calculated.
DEM obtains the particle temperature and concentration surface values from MGM and
calculates the heat and mass transfer rates between particles and the fluid. In the last step,
these transfer rates are coupled back to the Eulerian grid cells and is used as source terms in
the gas thermal energy and mass balances, shown in equations 4.11 and 4.13 respectively.
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The energy source term, Qp in equation 4.11 is calculated from:

Qp =
1

Vcell

Np

∑
a=0

hp,aAp,a(Tp,a −Tf )D(r− rp,a) (4.17)

where Ap,a is the heat exchanging surface area of particle a, and ha the heat transfer coefficient
calculated using the Nusselt number, Nu, from the Gunn correlation, equation 4.18:

Nu =
hadp,a

k f
= (7−10ε f +5ε

2
f )(1+0.7Re0.2Pr0.33)

+(1.33−2.4ε f +1.2ε
2
f )Re0.7Pr0.33 (4.18)

Re and Pr are Reynolds and Prandtl number respectively:

Re =
ε f ρ f (|u f −vp|)dp,a

µ f
(4.19)

Pr =
µ fCp f

K f
(4.20)

The mass source term of component i in equation 4.13 and in the continuity equation
(4.2), Sm,i, is calculated from equation (4.21).

Sm,i =
1

Vcell

Np

∑
a=0

km,a,iAp,a(Mp,a −Mi)D(r− rp,a) (4.21)

where the mass transfer coefficient of component i between particle a and the fluid, km,a,i,
is determined by the Sherwood number. The Sherwood number is computed using the Gunn
correlation for mass transfer, equation 4.22. Sc is the Schmidt number, calculated from
equation 4.23.

Shi =
km,a,idp,a

D f ,i
= (7−10ε f +5ε

2
f )(1+0.7Re0.2Sc0.33)

+(1.33−2.4ε f +1.2ε
2
f )Re0.7Sc0.33 (4.22)

Sc =
µ f

ρ f Deff
f ,i

(4.23)
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MGM

Each individual particle is modeled as a porous medium by MGM. In this model, the catalyst
support is assumed to consist of several layers of solid spheres, called grains, with uniform
coverage of active material on their surfaces, Figure 4.2. Heat and mass transfer is considered
in the radial direction at two different scales and the reaction occurs at the surface of the
grains.

Fig. 4.2 Schematic of MGM model and layers of grains. (a) The particle before solid
formation and growth. (b) A circular sector of the particle with the accumulated solid product
on the surface of grains [11].

At the macro particle scale the component concentrations and temperature are governed
by via equations 4.24 and 4.25:

∂Mp,a,i(r, t)
∂ t

=
1
r2

∂

∂ r

(
Deff

p,a,ir
2 ∂Mp,a,i(r, t)

∂ r

)
−R(r, t) (4.24)

∂Tp,a(r, t)
∂ t

=
1
r2

∂

∂ r

(
keff

p,a

ρpCpp
r2 ∂Tp,a(r, t)

∂ r

)
− ∆H

ρpCpp
R(r, t) (4.25)

Where r is the radial position in particle and Deff
p,a,i the effective diffusivity of component

i, keff
p,a, ρp and Cpp the heat conductivity, the density and the specific heat capacity of the

particle respectively, and R(r, t) the volumetric average rate of reaction at a given radial
position.

The concentration and temperature at the grain scale are also modeled by equations 4.26
and 4.27. The reaction occurs at the surface of the core of these grains and, therefore appears
in the boundary conditions, equation 4.28. The solid product of the reaction accumulates

65



4

CFD-DEM-MGM

on the grains’ surface, causing an increase in radius leading to the alteration of the internal
diffusion limitation.

∂M(rg, t)
∂ t

=
1
r2

g

∂

∂ rg

(
Dprodr2

g
∂M(rg, t)

∂ rg

)
(4.26)

∂T (rg, t)
∂ t

=
1
r2

g

∂

∂ rg

(
kg

ρgrCPg

r2
g

∂T (rg, t)
∂ rg

)
(4.27)

Dprod
∂M(Rg0, t)

∂ rg
= r(t).CF (4.28)

Where rg is the radial position in the grain, Dprod is the diffusivity in the product layer around
the grains, Rg is the radius of the whole grain and rg,p is the position of the grain in the
particle (Figure 4.2) and CF is the unit conversion factor. For further details on MGM and
its implementation and verification, see chapter 3.

Intra-particle mass and heat balance are coupled with the fluid as explained in section
4.2.2 by continuous flux boundary conditions on the surface of the particle, equations 4.29
and 4.30:

@r = Rp −Deff
p,a,i

∂Mp,a,i

∂ r
= km,a,i

(
Mp,a,i −M f ,i

)
(4.29)

@r = Rp − keff
p,a

∂Tp

∂ r
= ha

(
Tp −Tf

)
(4.30)

4.3 Verification and validation of the model

The implementation of the model is verified by comparing the results with analytical solutions
in specific cases. Two-way heat and mass transfer between fluid and particles, the effect of
removed mass from fluid to the particle on the fluid velocity, and the total mass balance of
the reactor are evaluated and verified in the sections 4.3.1 to 4.3.4.

4.3.1 Temperature coupling

The heat transfer coefficient for each individual particle is calculated from equation 4.18.
Assuming a lumped particle temperature (Bip << 1), the gas-particle heat transfer and
the subsequent particle temperature change are calculated by the equations 4.31 and 4.32
respectively.

qp = h(4πr2
p)(Tp −Tf ) (4.31)
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dTp

dtDEM
=−

qp

VpρpCpp
] (4.32)

In order to verify the implementation of the heat transfer, two tests were performed. In
the first test a single particle (Tp,0 = 350◦C) is placed in a fluid with constant temperature
(Tf = 400◦C), Figure 4.3-left. The heat transfer coefficient is constant and calculated
according to terminal particle velocity. The particle temperature over time can then be
calculated by equation 4.33, obtained from the analytical solution.

Tp,t = Tf − (Tf −Tp,0)exp

(
−h(4πr2

p)t
VpρpCpp

)
(4.33)

Figure 4.4 compares the simulation results with the analytical solution. A perfect match of
the temperature of the DEM object verifies the CFD to DEM heat transfer implementation.
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Fig. 4.4 Verification of the fluid to particle heat transfer with varying the falling particle
velocity. Lines: analytical solutions. Symbols: simulation results.

In the second test case, the two-way gas-particle heat transfer is verified using a packed
bed of (30× 30× 150) particles with initial temperature of 300 ◦C, Figure 4.3-right. The
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Fig. 4.3 The test case of verification of one-way heat and mass transfer (left) and two-way
heat and mass transfer (right)
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initial gas phase temperature is also equal to 300 ◦C. At time t = 0s, a fluid flow with a
temperature (400 ◦C) enters from the bottom of the bed. By applying a very high fluid Peclet
number, the test case can be considered as a 1D convection problem. Equations 4.34 and
4.35 show the fluid and particle phase energy balances, respectively, at an axial position z in
the bed.

ε f ρ fCp f
∂Tf ,z

∂ t
= ε f ρ fCp f u f ,z

∂Tf ,z

∂ t
−hAp(Tf ,z −Tp,z) (4.34)

(1− ε f )ρpCpp
∂Tp,z

∂ t
= hAp(Tf ,z −Tp,z) (4.35)

The details of the analytical solution for the temperature of the fluid over time can
be found in the references [94–97]. Figure 4.5 illustrates the dimensionless temperature
(equation 4.36) along the height of the bed at different times. From this figure, it is evident that
there is a good agreement between the analytical solution and the simulation results, which
emphasizes that the two-way gas-particle heat transfer coupling is correctly implemented.

θ =
Tf −T0

Tin −T0
(4.36)
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Fig. 4.5 Verification of the two-way heat transfer between CFD and DEM. Lines: analytical
solutions. Symbols: simulation results.

4.3.2 Components coupling

The mass transfer is verified using a third test case. A single catalyst particle is surrounded by
fluid with a terminal velocity, Figure 4.3-left. A first-order reaction occurs inside the particle
and internal and external mass transfer limitations are negligible. A solid product forms and
remains on the particle. The weight gain of the particle can be calculated from equation 4.37.

mMGM(t) = 4πr2
g ·Ng ·kreaction ·Mbulk ·MWprod · t (4.37)

where rg is the grain radius, Ng is the number of grains in the MGM model, kreaction is the
surface reaction rate, Mbulk is the concentration of the reactant in the bulk of the gas, MWprod

is the molar weight of the formed solid, and t is time. Figure 4.6 compares the simulation
results with the analytical solution and verifies the mass balance and solid formation imple-
mentation.
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Fig. 4.6 Comparison of mass of the particle over time calculated from analytical solution and
simulation.

In order to verify the two-way fluid-particle mass transfer, a packed bed of 31250
(25×25×50) particles was considered, Figure 4.3-right. Three components with different
mass transfer coefficients and conditions are considered:

• Component-1: no mass transfer between the phases is considered.

• Component-2 has a mass transfer coefficient of 0.005 m/s and component 2 reacts
with a high reaction rate inside the particle.

• Component-3 has a mass transfer coefficient of 0.01 m/s and has a constant concen-
tration inside the particle (0.1 kg/m3) which is higher than the fluid inlet.

The fluid density and particles’ size are constant and the flow velocity is unaffected by
the added or removed mass (i.e., the fluid is incompressible). In this case, the component
concentration along the bed is governed by equation 4.38:

M f ,i(z) = Mp,i +(M f ,i,in −Mp,i).exp
(
−km,a,iadz

u f

)
(4.38)
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M f ,i,in represents the inlet condition. ad is the exchanging surface area per unit length of
the bed, and z is the position along the height of the packed bed. Figure 4.7 shows that the
analytical and simulation results are in good agreement, and therefore, the implementation is
verified.
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Fig. 4.7 Comparison of the components’ concentrations along the bed’s height, obtained
from analytical solution and simulation.

4.3.3 Added/removed mass to/from the gas phase

The removed (or added) mass from/to the fluid phase will affect the fluid phase. A packed
bed of 31250 (25×25×50) particles is assumed in a fluid with a constant density to verify
this effect. Each particle adds a constant source term of Ψ = 3×10−8 kg/s to the fluid. As a
consequence, the fluid velocity along the bed can be calculated with equation 4.39:

u f (z) = u f (0)+
Ψnp

ρ f ε f Ac
z (4.39)

where np is the number of particles in the unit height of the packed bed, and Ac is the
cross-sectional area of the bed. Figure 4.8 compares the analytical solution and simulation
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results and verifies the correct implementation of the model. The deviation at the inlet and
outlet is due to the change in porosity because of the begin and end position of the packing.
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Fig. 4.8 Comparison of the fluid’s vertical velocity along the bed’s height, obtained from
analytical solution and simulation.

4.3.4 Integral mass balance of the reactor

In order to verify the conservation of mass along the reactor, a column with dimensions of
0.1 m× 0.1 m× 0.5 m was considered with 800 fixed particles at the height of 0.1 m. A
constant feed of 70 vol.% inert and 15 vol.% of each reactant and product is introduced.
The flux of each component entering and leaving the column is calculated. In the case of a
product and reactant containing similar molar weights, the ratio of the gain in the mass of the
product to the loss of the mass of the reactant should match the reaction stoichiometry. This
factor was evaluated with different reaction stoichiometric ratios and the error was always
below 0.03%.
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4.4 Results and discussion

4.4.1 Case description

In order to demonstrate the capability of the newly developed CFD-DEM-MGM model,
a fluidized bed reactor of catalyst particles is modeled. An arbitrary equilibrium reaction
is chosen to occur inside the catalyst particles, represented by expression 5.18 and rate
equation 4.41. Table 4.1 shows the most important simulation settings. The particle size
increases over time, resulting in altered bed hydrodynamics. Secondly, the balance between
the mass transfer limitations and evolving catalytic reaction is gradually changing. Figure 4.9
shows snapshots of the catalyst particles in the center of the reactor (0.02 m depth) colored
according to the radius after 3.5 s (left) and 8 s (right). In the next sections, the evolution of
these parameters is evaluated in more detail.

2A(g)−−⇀↽−− 2B(g)+C(s) ∆H(298K) =+74.5kJ/mol (4.40)

−rA = k
(

PCH4
2 − PH2

2

Kp

)
(4.41)
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Table 4.1 Simulation settings and properties.

Name Value Unit

Reactor dimensions 0.1×0.1×1 m

Field grid size 20×20×160 -

Inlet gas velocity 3.5 m/s

Inlet gas temperature 850 K

Inlet gas composition 80−15−5 vol.%(A−B− inert)

Initial reactor temperature 800 K

Initial reactor composition 5−10−85 vol.%(A−B− inert)

Number of particles 25000 -

Particles initial diameter 4 mm

Number of grain layers in particles 20 -

Particle density 1309 kg/m3

Geldart classification type D -

4.4.2 Particle size growth

As the reaction evolves over time inside the catalyst particles with accompanying solid
product formation, the catalyst particle size increases over time. As a result the bed height
increases. Figure 4.10-left shows particles grow as the reaction occurs. During the initial
phase, there is no product layer around the grains and therefore, no mass and heat transfer
resistance prevails in the grains; therefore, the radius increases at a higher rate compared to a
later stage in this process.

Although the particles at the bottom of the reactor are experiencing a higher reaction rate
due to the higher reactant concentration and lower product concentration, Figure 4.10-right
shows that initially, particles grow at a uniform rate due to the intense bed mixing under the
influence of vigorous fluidization and therefore the particle size distribution is very narrow.
However, as it is mentioned in section 5.3.3 mixing of particles is reduced over time and,
therefore a wider particle size distribution is obtained in the later stages. As it is visible in
the snapshots of Figure 4.9, there is a gradient of size along the height of the reactor.
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Fig. 4.9 Illustration of the particles in the center of the reactor (0.02 m depth) colored
according to the radius after 3.5 s (left) and 8 s (right).
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Fig. 4.10 Left: the average size of all particles in the reactor over time. Right: normalized
particle size distribution after 3.5 and 8 seconds of the start of the reaction.
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4.4.3 Fluidization regime

Since the larger particles are heavier and require a higher gas velocity in order to remain
fluidized, the excess velocity decreases with the associated impact on fluidization character-
istics over time. Figure 4.11 shows the porosity at the central plane of the bed at different
times. It is obvious that in early times bubbles and slugs are formed, however after 6.5 s, the
bed is completely defluidized, whereas the height of the bed has expanded considerably.

Figure 4.12 shows the average ratio of the drag force imposed on the particles to the
minimum required drag force for the fluidization of the bed (which is the buoyant weight of
the particles). Initially, particles descend and accumulate at the bottom of the reactor, causing
a reduction in bed porosity. This reduction in porosity induces a high gas velocity, resulting
in significant drag force on the particles. Consequently, the particles are propelled upward
within the bed, leading to the formation of slugs. The expansion of the bed height caused by
slug formation subsequently diminishes the bed porosity, thereby reducing the drag force
exerted on the particles. As a consequence, the particles descend once again toward the
bottom of the bed, initiating a recurring cycle of particle movement. The reduction in the
fluctuations shows that the intensity of bubble formation is reduced until, eventually the bed
is defluidized. Furthermore, the frequency of the fluctuations is also reduced, confirming the
hydrodynamic regime change.

Figure 4.13 depicts the solids’ motion at three different times. Initially, particles experi-
ence significant vertical movements. Over time, the solid mobility is reduced. Eventually,
the bed is defluidized, and the only movement is due to particle growth and the consequence
of bed height expansion.

Figure 4.14-left demonstrates the initial formation of bubbles at the bottom of the reactor,
which rapidly transition into slugs as they ascend. Nevertheless, as the slugs reach higher
heights within the reactor, the particles above them descend and disrupt them, causing them
to break into smaller bubbles once again (Figure 4.11).

In the later stages of the process, the minimum gas velocity required for fluidization
increases. Consequently, the excess gas velocity decreases, forming smaller bubbles (Figure
4.14-right), compared to the initial stages. This change in bubble size distribution is attributed
to the elevated minimum fluidization velocity, which affects the overall fluidization behavior
and the resulting bubble dynamics.

4.4.4 Diffusion limitation

If the reaction rate is assumed to be pseudo-first-order as equation 4.42, then the impact and
importance of the fluidization regime and particle size on the performance of the process can
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Fig. 4.11 Snapshots of the porosity at the central sheet of the bed over time.

be evaluated by the second Damköhler number (DaII). This number represents the ratio of
the chemical reaction rate, to the external mass transfer rate, as given by 4.43 [97]. Where km

is the mass transfer coefficient calculated from equation 4.22, while the indices s and bulk
refer to surface and local concentrations and temperature.

−r′A[
mol
m3 .s

] = k̂1 [
1
s
]CA[

mol
m3 ] (4.42)

DaII =
Rp k̂1CA,s

3kmCA,bulk
(4.43)

To linearize the actual reaction kinetics (as shown in Equation (4.41)) to first order, a unit
conversion is necessary, which is described by Equation (4.44). Consequently, the rate
constant of the pseudo-first-order reaction rate is determined by Equation (4.45).

−rA[
molA

g f reshcats
]×103[

g f reshcat

kg f reshcat
]× m0

Vp
[
kg f reshcat

m3 ] =−r′A[
molA
m3 s

] (4.44)

k̂1 =
−rA × m0

Vp
×103

CA
(4.45)
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Fig. 4.12 Average ratio of the drag force on the particles to the minimum required drag force
for fluidization of particles.
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Fig. 4.13 Instantaneous solids velocity at different times (left: 2.5 s, middle: 5.5 s, right: 8 s).
Please note the scale differences. Over time the solid mobility and mixing are reduced.
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Fig. 4.14 Average bubble size along the bed height between 1 s< t <3 s (left) and 6 s<
t <8 s (right). Dash lines show the cut-off height for bubble detection, and represent the
approximate bed height.
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Figure 4.15 illustrates the gradual decrease of DaII over time, attributed to the reduction in
k̂1 resulting from the declining density of active sites per unit volume of the particle, which
is inversely proportional to the third power of Rp. The magnitude of DaII suggests that the
influence of external mass transfer limitations on the reaction rate and reactor performance
can be considered negligible throughout the entire process duration. By comparing Figures
4.12 and 4.15, it is evident that the DaII closely follows the hydrodynamic behavior and
exhibits the same oscillation frequency due to the dependency of the mass transfer coefficient
on the relative velocity between the particles and the gas phase.

0 1 2 3 4 5 6 7 8 9

Time (s)

1.5

2

2.5

3

3.5

4

4.5

A
v
e

ra
g

e
 D

a
m

k
o

h
le

r 
n

u
m

b
e

r

10-4

Fig. 4.15 The average DaII of the particles gradually decreases over time due to particle
growth and a lower density of active sites in larger particles. The fluctuations follow the
hydrodynamics of the bed..

On the other hand, the increase of particle size and the formation of solid products can
alter the diffusional limitations of the process. This effect can be assessed by analyzing
the Thiele modulus (φ 2), which represents the ratio of the chemical reaction rate to the
pore diffusion rate. For the assumed pseudo-first-order reaction rate (equation (4.42)), the
calculation of φ 2 is performed using Equation (4.46) [97, 98].
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φ
2 = R2

p
k̂1

Deff(4.46)

Figure 4.16 demonstrates the decreasing trend of φ 2 over time, primarily due to the
diminishing value of k̂1, which exhibits an inverse relationship with the third power of Rp.
Despite the external mass transfer limitation, φ 2 emphasizes that the diffusional effect cannot
be disregarded and its significance may vary throughout the course of the process.
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Fig. 4.16 The average φ 2 of the particles decreases over time. The graph highlights that pore
diffusion limitations are comparatively as significant as the reaction kinetics for the given
pseudo-first-order reaction rate.

4.5 Conclusions

A CFD-DEM-MGM model for growing catalyst particles inside a reactor has been developed
to study particle growth’s impact on the bed hydrodynamics and heat and mass transfer
rates. The CFD-DEM-MGM was verified in different aspects such as two-way heat and
mass transfer by comparing results with trusted analytical solutions. In order to assess the
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capabilities of the model and evaluate its effectiveness in replicating the dynamic behavior
of the reactor system, a simulation was conducted on a fluidized bed reactor consisting of
catalyst particles exhibiting an arbitrary reaction.

Initially, the particle size increased uniformly inside the reactor due to good solid mixing.
However, the increase of the particle size led to changing fluidizing behavior and a reduced
solids mixing rate. Eventually, complete defluidization of the fluidized bed reactor was
observed. As a result, a particle size gradient was noted along the height of the reactor.

For the chosen arbitrary reaction, the external mass transfer limitation remained negligible
despite the slightly increased Damköhler number. On the other hand, internal mass transfer
is slowly becoming important as the particle size further increases. However, the presented
results indicate that the model is capable of coupling the effects of hydrodynamics in a
fluidized bed with reacting and growing particles, incorporating the effects of mass and heat
transfer.
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Yes, indeed, life’s beauty is clear,
An aged fireplace, it seems,
When you kindle it without fear,
Flames dance, illuminating dreams.
Yet if you don’t ignite the blaze,
It rests in stillness.
And being still, our sin it portrays.

Siavash Kasrai
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Numerical modeling of TCD in fluidized
bed reactors1

1This chapter is based on M. Hadian, J. G. Ramírez, M. J. A. de Munck, K.A. Buist, A.N.R. Bos, J.A.M.
Kuipers, (2023), Comparative analysis of a batch and continuous fluidized bed reactors for thermocatalytic
decomposition of methane: a CFD-DEM-MGM approach. Submitted to Chemical Engineering Journal

85



5

TCD in batch and continuous FBR

Abstract

ThermoCatalytic Decomposition of methane (TCD) has shown great potential for
the synthesis of valuable carbon nanomaterials as well as hydrogen production.
This chapter employs the Computational Fluid Dynamics-Discrete Element Method-
Multi Grain Model (CFD-DEM-MGM) to investigate two fluidized bed reactors
with the same dimensions for TCD. Case-1 involved a batch of catalyst particles,
while Case-2 featured the continuous removal of catalyst particles from the bottom
and the introduction of fresh particles from the side. The results revealed that the
limited residence time of catalyst particles in the continuous reactor, compared to
the batch reactor, leads to lower growth and deactivation. In contrast, the continuous
reactor demonstrated higher carbon production and gas conversion rates due to
the continuous introduction of fresh catalyst particles. Additionally, the presence
of larger catalyst particles in Case-1 resulted in a significant reduction in bubble
formation frequency during the later stages of the process. In Case-2, the continuous
removal and introduction of particles promoted the break-up of larger bubbles and
enhanced horizontal solids mixing. Internal diffusion limitations clearly have an
impact on the reactor performance. This study highlights the potential of the CFD-
DEM-MGM model for optimizing the design of FBRs and determining the optimal
gas-solid contacting operation in TCD processes.

5.1 Introduction

Various methods such as chemical looping reforming, steam methane reforming in-
tegrated with Carbon Capture and Sequestration processes (CCS), water splitting,

and thermal and thermocatalytic decomposition of methane have been studied to reduce
anthropogenic CO2 emissions [99, 100]. Among these, ThermoCatalytic Decomposition
of methane (TCD) is one of the most promising methods due to its potential capability
of producing highly valuable carbon nanomaterials in addition to hydrogen [14, 27, 43].
In addition, the feedstock of TCD is abundantly available from both fossil and renewable
resources, thus TCD can play a vital role in both transition towards a fossil-free industry and
the fossil-free future itself. Another advantage of TCD over conventional hydrogen processes
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is eliminating the need for complex downstream purification or separation units since no
by-products are formed [11].

In TCD, methane is decomposed into solid carbon and gaseous hydrogen with the
help of a catalyst at a much lower temperature (500 ◦C-950 ◦C) compared to the thermal
decomposition temperature exceeding 1300 ◦C [6]. The structure of the produced carbon
material can be in different forms of carbon nano-fibers (CNF), such as fish-bone structures
or nano-tubes, depending on operating conditions and the catalyst properties [22, 48, 49].
CNF products are valuable for different industries and are considered as the main product of
the process [15]. Among different catalysts, nickel on silica support, Ni – SiO2, has shown a
very high methane decomposition activity [10, 12, 16, 29, 60].

Due to carbon accumulation, the catalyst particles in TCD exhibit an increase in size
over time. As a consequence, fixed bed reactors encounter significant limitations, such
as an elevated risk of clogging, particle breakage, elevated pressure drop, and damage to
the reactor’s structure. As a result, for large-scale TCD process, Fluidized Bed Reactors
(FBR) are preferred over fixed bed reactors [19, 32, 33, 101]. In catalytic fluidized beds,
effective phenomena occur on a range of scales, from the micro-scale of porous particles to
interactions between particles and the fluid phase. Accurate modeling of these multi-phase
phenomena is essential for designing, evaluating, and optimizing the process.

Muradov [42] utilized the Kunii-Levenspiel 1D phenomenological bubbling fluidized
bed model to upscale a TCD reactor for producing 50 tonH2/day. Furthermore, a 1D plug
flow reactor model was employed to simulate the turbulent flow regime in the reactor [42].
Ammendola et al. [102] used the two-phase phenomenological model and assumed that the
produced carbon would be removed from the reactor by attrition and therefore, the catalyst
would get reactivated. Although these simple models provide a basic understanding of TCD’s
potential, they rely on questionable assumptions and fail to incorporate critical phenomena,
such as the impact of particle growth on the bed hydrodynamics and the complex interplay
between mass and heat transfer and chemical conversion [103].

Multi-scale numerical simulations, such as those performed with the Computational
Fluid Dynamics-Discrete Element Method (CFD-DEM), enable engineers to investigate the
hydrodynamics of multiphase flows with solid-fluid interactions accompanied by heat and
mass transfer in macro-scale industrial chemical processes, such as FBRs [76, 104, 105].
At the micro-scale, the Multi-Grain Model (MGM), predicts particle growth by combining
surface reaction and deactivation kinetics with intra-particle heat and mass transfer of
reactants and products [11, 69, 70]. Coupled CFD-DEM with MGM combines the potential
of both approaches and covers both micro and macro scale phenomena. It allows us to
capture the effects of dynamic catalyst characteristics on the reactor conditions and vice

87



5

TCD in batch and continuous FBR

versa. CFD-DEM-MGM enables engineers to predict the reactor performance over time and
compare different reactor designs.

This work uses the coupled CFD-DEM-MGM model to compare the advantages and
drawbacks of two different FBRs. A batch FBR is considered in Case-1. Contrary in Case-2,
a continuous FBR is simulated. In this case, the catalyst particles are removed from the
reactor and instead, fresh catalyst particles are injected into the reactor.

The outline of this chapter is as follows: the model and the test cases are described in
section 5.2. The results are presented and discussed in section 5.3. Finally, in Section 5.4,
the conclusions drawn from this study are presented.

5.2 Model description

The gas phase in the reactor is described by the volume-averaged Navier-Stokes equation
(5.1) and the continuity equation (5.2).

∂ (ε f ρ f u f )

∂ t
+∇ ·(ε f ρ f u f u f ) =−ε f ∇Pf −∇ ·(ε f τ f )+ ε f ρ f g−Sp (5.1)

∂ (ε f ρ f )

∂ t
+∇ ·(ε f ρ f u f ) =

Ncell

∑
i=1

Sm,i (5.2)

In all equations presented, the subscript notation f denotes the fluid phase, while p refers
to the particulate phase. The parameter ε denotes the gas volume fraction present within a
given cell, while ρ represents the density. The velocity vector of the fluid phase is denoted
by uf, with Pf denoting the pressure. Sp is the momentum source term that accounts for the
coupling of momentum exchange between the fluid and particles. This coupling is described
by equation (5.3):

Sp =
1

Vcell

Np

∑
a=0

Vp,aβa

1− ε f
(u f −vp,a)D(r− rp,a) (5.3)

where Vcell and Vp,a represent the local cell volume and the volume of particle a. The poly-
disperse drag coefficient correlations presented by Sarkar and Beetstra [87, 88] are utilized in
the calculation of the inter-phase momentum exchange coefficient, β , owing to the growing
nature of particles. Notably, the gas phase viscous stress tensor, denoted as τ f and given by
equation 5.4, is assumed to follow the general Newtonian form.

τ f =−µ f

[
(∇u f )+(∇u f )

T − 2
3
(∇ ·u f )I

]
(5.4)
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where µ f is the shear viscosity, and I is unity tensor. Sm,i is the mass source term of the
component i in the cell. The gas density, ρ f is calculated according to the ideal gas law.

The gas phase thermal energy balance is given by equation 5.5:

Cp f

[
∂ (ε f ρ f Tf )

∂ t
+∇ ·(ε f ρ f u f Tf )

]
= ∇ ·(ε f Keff

f ∇T )+Qp (5.5)

T is temperature, and Keff
f is the effective thermal conductivity of the fluid. Qp represents

the energy source term originating from the energy transport between the fluid and the
particulates is defined by equation 5.6.

Qp =
1

Vcell

Np

∑
a=0

hp,aAp,a(Tp,a −Tf )D(r− rp,a) (5.6)

where Ap,a is the heat exchanging surface area of particle a, and ha heat transfer coefficient
is calculated using the Gunn correlation.

The component mass balance is described by equation 5.7 considering convection, diffu-
sion and inter-phase transfer source term:

∂ (ε f M f ,i)

∂ t
+∇ ·(ε f M f ,iuf) = ∇ ·(ε f Deff

f ,i∇M f ,i)+Sm,i (5.7)

where M f ,i is the mass concentration of component ’i’ in the fluid, Deff
f ,i is the effective

diffusivity of component i in the fluid, and Sm,i is the gas-particle mass source term transfer
of component i and is calculated from equation (5.8).

Sm,i =
1

Vcell

Np

∑
a=0

km,a,iAp,a(Mp,a −Mi)D(r− rp,a) (5.8)

where the mass transfer coefficient of component i between particle a and fluid, ka,i, is
determined by the Gunn correlation.

The trajectory of each particle is determined by Newton’s second law, equation 5.9.
The forces imposed by the pressure gradient of fluid, drag force, gravitational force and
collisional forces determine the acceleration of the particle. The particle-particle and particle-
wall collisions are described by the soft-sphere model developed by Cundall and Strack [91]
using a linear spring and dashpot model [91–93, 106].

mp,a
dvp,a

dt
= mp,a

d2rp,a

dt2 =−Vp,a∇Pf +
Vp,aβp,a

1− ε f
(u f −vp,a)+mp,ag+∑Fcontact,p,a (5.9)
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in which rp,a and mp,a are the position and the mass of the particle a.
The rotational motion of the particle is tracked using equation (5.10).

Ip,a
dwp,a

dt
= Tp,a = ∑

b∈contact list
(rp,anab ×Fab,t) (5.10)

where Ip,a is the moment of inertia, wp,a is the rotational velocity and Tp,a is the torque.
MGM models each particle as a porous medium, whereby the catalyst support is repre-

sented by multiple layers of solid, non-porous grains uniformly covered with active material
on their surfaces, as depicted in Figure 5.1. Heat and mass transfer are accounted for in the
radial direction at two distinct scales (i.e. catalyst particle and grains), with the reaction
taking place on the grain surface [11].

Fig. 5.1 Schematic of MGM model (a) prior to solid formation and growth, and (b) a circular
sector of the particle with the accumulated solid product on the grains’ surfaces [11].

Species mass balance is solved along the radius of the catalyst particle and each grain via
equations 5.11 and 5.12 respectively:

∂Mp,a,i(r, t)
∂ t

=
1
r2

∂

∂ r

(
Deff

p,a,ir
2 ∂Mp,a,i(r, t)

∂ r

)
−R(r, t) (5.11)

∂M(rg, t)
∂ t

=
1
r2

g

∂

∂ rg

(
Dprodr2

g
∂M(rg, t)

∂ rg

)
(5.12)

r represents the radial position within the particle, rg is the radial position within the grain,
Rg is the radius of the entire grain. Deff

p,a,i refers to the effective diffusivity of component
i in particle a, Dprod is the diffusivity in the product layer surrounding the grains for each
component, and R(r, t) is the volumetric average reaction rate at a specific radial position
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within the particle, calculated by averaging the reaction rate in the corresponding grid cell.
The actual reaction occurs on the core’s surface, which is reflected in the boundary conditions
with the unit conversion factor of the kinetic equation (CF), equation 5.13. As a result of
the solid product formation on the grain surface, the grain’s radius increases, resulting in
additional internal diffusion constraints.

Dprod
∂M(Rg0, t)

∂ rg
= r(t).CF (5.13)

The heat balance is solved for each catalyst particle and each grain layer given by
equations 5.14 and 5.15.

∂Tp,a(r, t)
∂ t

=
1
r2

∂

∂ r

(
keff

p,a

ρpCpp
r2 ∂Tp,a(r, t)

∂ r

)
− ∆H

ρpCpp
R(r, t) (5.14)

∂T (rg, t)
∂ t

=
1
r2

g

∂

∂ rg

(
kg

ρgrCPg

r2
g

∂T (rg, t)
∂ rg

)
(5.15)

keff
p,a, ρp and Cpp are the heat conductivity, the density and the specific heat capacity of the

particle, respectively. For further details regarding MGM we refer to Hadian et al. [11].
Continuous fluxes are considered as boundary conditions at the particles’ surface to

couple the intra-particle and fluid heat and mass balances, equations 5.16 and 5.17:

@r = Rp −Deff
p,a,i

∂Mp,a,i

∂ r
= ka,i

(
Mp,a,i −M f ,i

)
(5.16)

@r = Rp − keff
p,a

∂Tp

∂ r
= ha

(
Tp −Tf

)
(5.17)

5.2.1 Case description

Two different fluidized bed reactors were compared. In Case-1, a batch FBR containing
20,000 particles is simulated. TCD reaction kinetics is given by equations 5.19 and 5.20
with the corresponding parameters in Table 5.1 [29]. Table 5.2 shows the most important
settings of the simulation. The particle size increases over time, resulting in changing bed
hydrodynamics and reactor performance. In the Case-2, a continuous FBR with identical
dimensions as Case-1 is simulated. The catalyst particles are removed from the bottom of
the reactor at a rate of 8.33%/s (leading to a residence time of almost 12 s), and additionally,
fresh catalyst particles are inserted into the reactor from the side of the reactor. The gas flow
in the domain was subjected to specific boundary conditions. These conditions included a
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uniform superficial air velocity of 0.45 m/s at the bottom, no-slip boundary conditions for
the side walls, and a fixed pressure boundary condition of 1 atm at the top. Figure 5.2 shows
snapshots of the catalyst particles in the reactor colored according to the particle radius after
7.5 s in Case-1 (left) and Case-2 (right). The removal and insertion zones in the continuous
test case are depicted in red and green colors, respectively.

CH4(g)−−⇀↽−− C(s)+2H2(g) ∆H(298K) =+74.52kJ/mol (5.18)

r0 =
k(PCH4 −PH2

2/Kp)(
1+KH2PH2

1.5 +KCH4PCH4

)2 (5.19)

r(t) = r0 ×

 1

1−0.5kd

(
kd,C + kd,CH4PCH4 + kd,H2P0.83

H2

)
t

−0.8

(5.20)

Table 5.1 Kinetic coefficients of equations 5.19 (top part) and 5.20 (bottom part) [29].

Coefficient Parameter Value Unit
k A 5.940×104 molCH4/atmCH4/gcat/min

E 88 kJ/mol
KH2 AH2 1.871×10−8 atm−3/2

∆HH2 144 kJ/mol
KCH4 ACH4 6.979×10−5 atm−1

∆HCH4 56 kJ/mol
kd Ad 18.39 s−1

Ed 147 kJ/mol
kd,C Ad,C 309.87 -

∆Hd,C 26 kJ/mol
kd,CH4 Ad,CH4 −449.02 atm−1

∆Hd,CH4 5.376 kJ/mol
kd,H2 Ad,H2 −0.349 atm−0.83

∆Hd,H2 80.19 kJ/mol
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Table 5.2 Simulation settings and properties.

Name Value Unit

Reactor dimensions 2×1×10 cm

Eulerian grid size 20×10×80 -

CFD time step size 10−4 s

DEM time step size 10−5 s

Inlet superficial gas velocity 0.45 m/s

Inlet gas temperature 600 ◦C

Initial reactor temperature 600 ◦C

Inlet gas composition 80−10−10 vol.%(A−B− inert)

Initial reactor composition 5−10−85 vol.%(A−B− inert)

Number of particles 20000 -

Particles initial diameter 500 µm

Number of grain layers in particles 20 -

Particle density 1762 kg/m3

5.3 Results and discussion

5.3.1 Catalyst deactivation

Catalyst particles deactivate gradually at a rate depending on the reactor’s local conditions
and residence time. Figure 5.3 illustrates the average deactivation factor of particles within
the bed for both scenarios. In the continuous scenario (Case-2), the deactivation factor
reaches a plateau due to the constrained residence time of the particles. Conversely, in Case
1 (batch FBR), the deactivation process persists until full deactivation is attained. Figure
5.3 also shows that under steady-state conditions and with the provided solid flow rate, the
deactivation factor of the particles removed in Case-2 approximates 0.7.
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Fig. 5.2 Illustration of the catalyst particles in the reactor colored according to the radius
after 7.5 s in Batch FBR Case-1 (left) and Continuous FBR Case-2 (right), including the
removal (red) and insertion zones (green).
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Fig. 5.3 The average deactivation factor of the particles in the bed (Case-1 and Case-2), and
the removed particles from the reactor (Case-2).

5.3.2 Particle size growth

Due to the carbon formation, the size of catalyst particles progressively increases during
the course of a reaction. Consequently, the bed height expands accordingly. Figure 5.4
compares the average radius of the catalyst particles as a function of time. In Case-2, as the
time surpasses the average residence time of the particles, the average radius of the catalyst
particles reaches a steady value. Conversely, in Case-1, the particles undergo more extensive
growth. Nevertheless, the growth rate diminishes as time evolves.

However, comparing the average radius of the particles is misleading because inserting
fresh and small catalyst particles in Case-2 lowers the average radius. Instead, the removed
particles from the bed can be compared; see Figure 5.4. Initially, both cases exhibit compara-
ble growth rates. In later stages, due to the experienced higher residence time, Case-1 results
in larger particles.

While the particles in Case-1 exhibit a larger size and yield a higher amount of carbon
per gram of catalyst utilized, Case-2 demonstrates the capability to generate larger total
quantities of carbon. This outcome can be attributed to the enhanced activity of the particles
in Case-2. As depicted in Figure 5.5, the cumulative carbon accumulation at the bottom of
the reactor in Case-2 surpasses the overall carbon production in Case-1.

In order to maximize the efficiency and cost-effectiveness of the process, an optimal
solids flow rate and reactor operation can be determined while taking into account economic
parameters. This analysis should consider factors such as capital investment, operating costs
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Fig. 5.4 The average radius of the particles in the bed (Case-1 and Case-2), and the removed
particles from the reactor (Case-2).
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Fig. 5.5 The total mass of produced carbon in Case-1 and mass of carbon removed from the
reactor in Case-2 over time.
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(including energy consumption, catalyst replacement, and maintenance), product yield and
quality, and market demand. By evaluating these economic parameters, it becomes possible
to identify the most favorable operating conditions that balance productivity, cost-efficiency,
and profitability.

5.3.3 Bed hydrodynamics

The increasing size of catalyst particles leads to an augmented weight, necessitating higher gas
velocities to maintain their fluidized state. Consequently, the fluidization intensity and regime
experience alterations as time progresses, affecting heat and mass transfer characteristics
as well. Figure 5.6 illustrates the pressure drop of the bed in both Case-1 and Case-2. In
Case-1, the pressure drop reaches higher values than Case-2 due to the larger mass of solids
in the reactor. Notably, at approximately 16 s, the particles begin to collide with the upper
boundary of the reactor. Subsequently, at 27 s, the solids completely fill the reactor, resulting
in the transformation of the reactor into a constrained Packed Bed Reactor (PBR). In Case-2,
the pressure drop does not exceed a maximum value of 355 pa.

The bubble frequency is determined by performing a fast Fourier transform (FFT) on
the pressure drop signals. A Lorentz fit is applied to detect the dominant frequencies
[106]. From Figure 5.7, it is evident that the frequency of bubble formation in Case-1 has
substantially decreased. In contrast, Case-2 demonstrates a relatively consistent bubble
formation frequency, maintaining values close to those observed during the initial stages of
the process.

Bubble size is a crucial characteristic of a FBR. To obtain the equivalent bubble diameter,
a post-processing algorithm is employed. In this algorithm, the bubble regions are identified
using a threshold porosity value ( ε = 0.8), excluding the freeboard region from the analysis.
Additionally, for a void to be classified as a bubble, it must have a minimum size of 2.5 times
the grid cell size. The equivalent bubble diameter is derived, assuming the bubble is a sphere.

Figure 5.8 illustrates the initial bubble size distribution in both Case-1 and Case-2,
revealing comparable bubble sizes. However, as the bed expands beyond the particle insertion
zone, the introduction of new particles in Case-2 leads to the breakup of bubbles into smaller
sizes. Above the insertion zone, bubbles are growing at a faster rate (higher slope of the
depicted dashed lines), resulting from smaller particle sizes. Conversely, in Case-1, bubbles
tend to attain slightly larger sizes, and the bubble growth rate is lower compared to Case-2.

In Figure 5.9, a comparison of Case-1 and Case-2 is presented considering the time-
averaged particle velocities. Case-1 exhibits the characteristic particle flow pattern commonly
observed in FBRs as particles move upward in the central zone of the bed with bubbles,
and descend in the vicinity of the reactor walls. On the other hand, Case-2 demonstrates
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Fig. 5.6 The pressure drop of the bed over time. The notable increase in pressure drop
observed in Case-1 is attributed to the larger mass of particles within the bed compared to
Case-2.
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Fig. 5.8 Equivalent bubble diameter as a function of axial position at the onset of the reaction
(left) and after 10 s (right) for both cases. The dashed lines indicate the approximate
maximum bed height.

shorter and more circulation zones, and higher velocity magnitudes, leading to enhanced
solids mixing. It should be noted that the higher bed height in Case-1 is caused by the larger
particles (i.e., higher static bed height).

The average instantaneous particle fluxes at the height of 2 cm are shown in Figure 5.10.
After 10 s, solids fluxes in both cases show similar magnitudes. In later stages, the solids flux
in Case-1 reduces, while in Case-2 it remains high. Within a symmetric fluidized bed, the
central region usually experiences an upward motion of solids as the particles are entrained
in the wake of ascending bubbles. Conversely, a downward flow of solids is observed in the
wall region. However, this pattern is affected due to particle insertion only from one side of
the reactor.

5.3.4 Gas conversion

Figure 5.11 depicts a comparison of the gas conversion profiles for both Case-1 and Case-2
(solid lines) against ideal plug flow reactors (PFR) operating under identical conditions.
Notably, Case-2 achieves a steady conversion rate, whereas Case-1 experiences a decline
owing to catalyst particle deactivation. Consistent with expectations, the gas conversion in a
FBR is lower than that of an ideal PFR due to phenomena such as gas bypassing through
bubbles and channeling.

It is noteworthy that the qualitative behavior of Case-1 closely resembles the experimental
observations of TCD in a FBR as reported by Hadian et al. [29]. Specifically, the conversion
commences in a turbulent manner at a maximum conversion, followed by a slight decline
leading to a period of stability. Subsequently, the conversion exhibits a gradual decrease with
a prolonged tail until complete deactivation occurs.
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(right). Solid circulation and mixing are improved in Case-2, compared to Case-1.
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Fig. 5.10 Particle flux profiles at the height of 2 cm over time in Case-1 (left) and Case-2
(right). Solid flux in Case-1 reduces over time. In Case-2, solid fluxes remain high, and the
insertion of the particles influences the profile.
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5.3.5 Mass transfer limitations

The evaluation of external mass transfer limitation’s impact and significance on the pro-
cess performance, considering a pseudo-first-order reaction, can be achieved through the
utilization of the second Damköhler number (DaII) as depicted in Equation 5.21 [97]. In this
equation, km represents the mass transfer coefficient, while the indices s and bulk pertain to
surface and local concentrations and temperature, respectively.

DaII =
Rp k̂1CA,s

3kmCA,bulk
(5.21)

The linearization of the actual reaction kinetics (expressed by Equations (5.19) and (5.20))
into a pseudo-first-order reaction is accomplished by Equation (5.22). Consequently, the rate
constant for the pseudo-first-order reaction is determined using Equation (5.23).

−rA[
molA

g f reshcats
]×103[

g f reshcat

kg f reshcat
]× m0

Vp
[
kg f reshcat

m3 ] = k̂1 [
1
s
]CA[

mol
m3 ] (5.22)

k̂1 =
−rA × m0

Vp
×103

CA
(5.23)

Figure 5.12-right illustrates the gradual decrease in DaII over time, which is attributed to
the reduction in k̂1 caused by catalyst deactivation and the declining density of active sites
per unit volume of the particle. This reduction is inversely proportional to the third power of
Rp. Based on the magnitude of DaII , it can be inferred that the influence of external mass
transfer limitations on the reaction rate and reactor performance is negligible for both cases.

Alternatively, the diffusional limitations of the process can be influenced by the growth
of particle size and the formation of solid products. The assessment of this effect can
be conducted through the examination of the Thiele modulus (φ 2). Equation (5.24), based
on the assumed pseudo-first-order reaction rate, is employed for the calculation of φ 2 [97, 98].

φ
2 = R2

p
k̂1

Deff (5.24)

Figure 5.12-left demonstrates the declining trend of φ 2 over time, primarily attributable to
the diminishing value of k̂1 and catalyst deactivation. The figure underscores the importance
of diffusional effects, which cannot be disregarded. Notably, in Case-1, the significance of
diffusional effects becomes negligible over time due to catalyst deactivation. This observation
contradicts the trends discussed in Section 2.4.1 and may be attributed to the assumption of a
constant Deff, and it requires further research.
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Fig. 5.12 Average Thiele modulus (left) and second Damkohler number (right) of the particles
in both cases show that external mass transfer limitation has negligible effect, however,
internal diffusion limitation is and remains important.

5.4 Conclusions

The CFD-DEM-MGM model was adapted for the TCD process with the kinetics derived
from a former experimental study [29]. This model simulated two cases with a batch and a
continuous solids flow. In Case-1, particles experience longer residence time and therefore
grow larger and deactivate further than in Case-2. However, the rates of carbon production
and gas conversion remain relatively high in Case-2, while in Case-1, a significant decay is
observed due to catalyst deactivation.

Larger and heavier catalyst particles led to a transformation in the hydrodynamics of the
FBR. Explicitly, the frequency of bubble formation dropped significantly in Case-1 during
the later stages of the process. On the other hand, removing the large catalyst particles and
introducing fresh catalyst particles led to breaking down the large bubbles and keeping the
bubble formation frequency high. Furthermore, an enhanced horizontal solids mixing was
observed in Case-2 due to stronger solids circulation.

Considering economic parameters and operational considerations, the design of the
fluidized bed reactor and the solids flow rate can be optimized with this CFD-DEM-MGM
model in the future.

The evaluation of the second Damkohler number and Thiele modulus shows that the
external mass transfer limitations are negligible, the internal diffusion limitation, however,
has a significant impact on the overall yield of the process, most importantly in the continuous
scenario.
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6.1 Conclusions

This thesis showcases ThermoCatalytic Decomposition of methane (TCD) in a fluidized bed
reactor (FBR). Aiming to investigate the potential and challenges of TCD. The thesis focuses
on evaluating the impact of effective parameters on the overall yield of the reactor.

6.1.1 Experimental study of TCD in an FBR

In Chapter 2, a commercial nickel on silica catalyst was employed in a specially designed
FBR setup, leading to carbon yields exceeding 70 gC/gcat. The carbon product primarily
consists of carbon nanofibers with a purity of at least 96%, characterized by TEM, TGA, and
XPS tests, displaying fish-bone structures. The impact of various operating conditions was
examined, revealing that lower temperatures promote higher carbon production despite a
lower maximum reaction rate, as the catalyst deactivation is delayed. Lowering the methane
concentration decreases the maximum reaction rate, lifetime, and carbon yield. However,
the presence of hydrogen, while decreasing the maximum reaction rate, leads to a higher
carbon yield due to prolonged catalyst lifetime. A kinetic model was developed to describe
the maximum reaction rate and deactivation factor. This model describes the TCD reaction
rate over the temperature range of 550−600 ◦C with an average error in initial kinetic rate of
10% and deactivation factors up to 17%.

6.1.2 Numerical modeling of TCD

In Chapter 3 the Multi-Grain Model (MGM) was developed to model the heat and mass
transfer inside catalyst particles coupled with the decomposition reaction of methane. The
reaction rate model and deactivation factor from Amin [6] were used in this chapter which
were slower than the kinetic rate equation presented in Chapter 2. The effect of operating
conditions and model parameters was investigated by sensitivity analyses and it was found
that for the taken kinetic model in this chapter the heat and mass transfer rates do not limit the
carbon production rate and consequently the reaction is the rate-limiting step of the process.
However, it was also shown that if a catalyst is made with one thousand times higher ratio
of kinetics rate to the mass and heat transfer rates (either by increasing the reaction rate or
decreasing the mass and heat transfer rates), the heat and mass transfer limitations will affect
the final carbon yield. It was found that, the presence of hydrogen causes a decrease in the
reaction rate, however a higher carbon yield is achieved due to delayed deactivation of the
catalyst. This fact is in agreement with experimental findings respected in the literature and
Chapter 2. Moreover, increasing the operating temperature leads to a faster initial reaction

106



6

6.1 Conclusions

rate and faster catalyst deactivation and hence an optimal, process dependent, temperature
exists.

MGM was coupled with the comprehensive Computational Fluid Dynamics - Discrete
Element Method model in Chapter 4 to investigate the impact of particle growth on hydrody-
namics, heat transfer, and mass transfer rates within a reactor. The accuracy and reliability of
the CFD-DEM-MGM model were rigorously assessed by conducting a thorough verification
process, involving a meticulous comparison of its simulation results with established analyti-
cal solutions, particularly focusing on the two-way heat and mass transfer coupling. To assess
the model’s capabilities and effectiveness in replicating dynamic behavior, a simulation was
conducted on a fluidized bed reactor containing catalyst particles undergoing an arbitrary
reaction. Initially, the reactor exhibited uniform particle size growth due to effective solid
mixing. However, as the particle size increased, changes in fluidization behavior and a
reduction in solids mixing rate were observed, eventually leading to complete defluidization
of the bed. Consequently, a particle size gradient was observed along the reactor’s height. For
the chosen arbitrary reaction, external mass transfer limitations remained negligible, despite
a slight increase in the Damköhler number. However, internal mass transfer limitations
were found to be important. Nonetheless, the presented results demonstrate that the model
effectively captures the coupling between hydrodynamics in a fluidized bed, particle growth,
and the influences of mass and heat transfer.

In Chapter 5, the CFD-DEM-MGM model was specifically adapted and tailored for
the ThermoCatalytic Decomposition (TCD) process, utilizing kinetics derived in Chapter
2. The model was employed to simulate two distinct cases: Case-1, representing a batch
solid flow configuration, and Case-2, simulating a continuous solid flow scenario. In the
continuous case, the limited residence time of the particles resulted in less growth and
deactivation compared to the batch case. However, despite the catalyst deactivation observed
in Case-1, Case-2 exhibited relatively high rates of carbon production and gas conversion.
The presence of larger and heavier catalyst particles induced significant alterations in the
hydrodynamics of the fluidized bed reactor (FBR). Notably, in Case-1, a considerable
decrease in the frequency of bubble formation was observed during the later stages of
the process. In contrast, removing large catalyst particles and introducing fresh catalyst
particles in Case-2 facilitated the breakdown of larger bubbles, maintaining a consistently
high frequency of bubble formation. Moreover, Case-2 exhibited enhanced horizontal solids
mixing, attributed to the intensified local solid circulation within the reactor. Evaluation of
the second Damkohler number and Thiele modulus revealed that while external mass transfer
limitations remained negligible, internal diffusion limitations impacted the overall process
yield, particularly in the continuous solid flow scenario.
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6.2 Outlook

The ThermoCatalytic Decomposition (TCD) of methane in a fluidized bed reactor has gained
significant attention as a promising approach for the simultaneous production of hydrogen
and carbon nanomaterials. Looking ahead, several key aspects and areas of development can
be identified to advance this field of research and optimize the TCD process in a fluidized
bed reactors:

Further research is needed to comprehensively understand the deactivation mechanisms
that limit catalyst performance over time. Investigating factors such as catalyst sintering
and carbon deposition will be crucial to develop more accurate kinetic models and design
strategies for lifetime improvement. Exploring the use of carbon materials, and other
unconventional materials as catalysts has been studied. However, it is essential to enhance the
sustainability of the TCD process further. Developing catalysts compatible with the desired
applications of the carbon nanomaterials produced will contribute to a more environmentally
friendly and economically viable TCD process.

Optimizing the design of fluidized bed reactors for TCD is crucial for achieving higher
process efficiency and productivity. Computational modeling, such as the CFD-DEM-
MGM model, coupled with experimental validation, can provide insights into the reactor
hydrodynamics, solid mixing, and heat and mass transfer phenomena. This approach enables
engineers to investigate different reactor concepts, such as continuous flow configurations,
and determine the optimal operating conditions and solid flow rates. In this thesis, a high
space velocity is chosen to enhance the catalyst mobility and prevent reactor wall damage
caused by carbon deposition, but it limits the overall gas conversion. Overcoming this
limitation on an industrial scale can be achieved through appropriate process design and
probably partial recycling of the gas stream.

Conducting techno-economic and feasibility studies will be vital to evaluate the viability
and scalability of TCD in fluidized bed reactors. Assessing the costs, energy requirements,
and environmental impact of large-scale hydrogen and carbon nanomaterial production will
provide valuable insights for decision-making and guide the development of economically
sustainable TCD processes. This should be coupled with exploring opportunities for process
integration and synergy can enhance the overall efficiency and sustainability of the TCD
process. For instance, waste heat recovery, utilization of produced hydrogen, and integration
with renewable energy sources can significantly improve energy efficiency and reduce the
environmental footprint of the process.

The developed CFD-DEM-MGM model and the findings presented in this study hold
promise for other processes such as polymerization, where both external and internal particle
properties significantly impact process performance.
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In general, the thermocatalytic decomposition of methane in fluidized bed reactors holds
great potential for sustainable hydrogen and carbon nanomaterial production. Continued
research efforts focusing on catalyst deactivation mechanisms, sustainable catalyst develop-
ment, reactor design optimization, techno-economic assessments, and process integration
will pave the way for the practical implementation of TCD in various industrial applications,
contributing to a more sustainable and carbon-neutral future.
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A
Weisz-Prater Criterion

According to Weisz-Prater criterion, CWP, using the given kinetic parameters (Taken from
Amin et al. [6]) the mass transfer limitation can be neglected compared with reaction kinetics
limitations, if equation A.1 holds [74].

CWP =
Rate.(d p/2)2

De f f .Mb
≤ 3β (A.1)

η = 1− nβ

4
(A.2)

where Rate is the observed rate, De f f is effective diffusivity, Mb is the concentration of the
reactant outside the porous particle, β maximum decrease in concentration gradient in pores,
η is effectiveness factor, and n is the order of the reaction. The reaction is considered first
order (following equation 2.3) and the observed rate of reaction is obtained from experimental
results. Using the other parameters as is presented in Table A.1, it is found:

CWP = 0.42 ≤ 0.6

This confirms that the diffusional mass transfer limitation can just be neglected. However,
with larger particles, it can become important as it has effect on the carbon yield and lifetime
of the catalyst, see section 2.4.1.
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Weisz-Prater Criterion

Table A.1 Parameters used to calculate CWP

Parameter Value
Rate 141.179 mol/m3/s

De f f [107] 1.36×10−6 m2/s
Mb 100 vol.%CH4=14.37 molCH4/m3

dp 500 µm
T 575 °C
η 0.95
n 1
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