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Abstract: In this work, the development and simulation of a new coal gasification process with 
indirect heat supply is performed. In this way, the need of pure oxygen production as in a 

conventional gasification process is avoided. The feasibility and energetic self-sufficiency of the 

proposed processes are addressed. To avoid the need of Air Separation Unit, the heat required by 
gasification reactions is supplied by the combustion flue gases, and transferred to the reacting 

mixture through a bayonet heat exchanger installed inside the gasifier. Two alternatives for the flue 

gas generation have been investigated and compared. The proposed processes are modeled using 
chemical kinetics validated on experimental gasification data by means of a standard process 

simulator (Aspen Plus™), integrated with a spreadsheet for the modeling of a special type of heat 

exchanger. Simulation results are presented and discussed for proposed integrated process schemes. 
It is shown that they do not need external energy supply and ensure overall efficiencies comparable 

to conventional processes while producing syngas with lower content of carbon dioxide. 
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1. Introduction 

With the growing world energy requirements and depleting oil and natural gas reserves, the rate 

of current advancement in the economic optimization of renewable resources stresses upon the 

reliance on a sustainable utilization of coal reserves for over several decades to come [1]. Coal 
gasification is one of the processes developed for the purpose of using coal in a way that the 

environment contaminant emissions from the process are minimized as compared to the direct use of 

burning coal as fuel, which causes at least 70% of anthropogenous CO2 emissions of Europe [2]. 
Furthermore, this process helps in increasing the possibility of utilizing largely abundant coal 

reserves of both high and low quality [3] to provide gaseous fuel to compensate for and reduce the 

use of constantly and rapidly diminishing natural gas reserves. The Syngas produced can be used for 
a wide variety of downstream processes such as for power generation (IGCC), the production of 

refinery utilities (H2, steam, power), chemical synthesis (methanol, ammonia, oxochemicals), 

methanation and liquid fuels production. 
The objective of this work is to simulate and determine the energy efficiency of an original coal 

gasification process which uses steam instead of air or oxygen. Coal Gasification can be carried out 

with air, oxygen, steam, or a combination of them. Using air has the disadvantage of lower product 
gas quality as nitrogen in the air dilutes it. On the other hand, using pure oxygen or oxygen rich air, a 

higher quality syngas can be obtained but this leads to the heavy generator power consumption 

associated with the use of an air separation unit [4,5,6] with an overall impact of 5–7% on gross 
power generator output [7]. Therefore, in the proposed schemes, the impacts of air or oxygen as the 

oxidant to provide gasification heat are avoided by using steam as the sole gasifying medium. 

A counter-current moving bed gasifier with high-pressure superheated steam injection at the 
bottom is considered. The counter-current scheme is chosen to avoid the inhibition of the gasification 

reaction caused by the presence of pyrolysis gases in the gasification zone. Bayarsaikhan et al. [8] 

observed that the pyrolysis gases created in a fluidized bed gasifier limit the char conversion in steam 
to a range of 62–85%. In the proposed gasifier, ash along with unreacted char is withdrawn at the 

bottom and the raw syngas mixed with unconverted steam is obtained at the top of the gasifier.  

In the absence of oxygen or air, the heat of reaction is provided by the flue gases which are 
generated through the external combustion of fuel already available in the process. Two alternatives 

have been investigated for flue gas generation: 1) the coal conversion is maximized in the gasifier, 

and part of the syngas produced is then burnt in a furnace; and 2) only partial conversion of coal is 
achieved in the gasifier, and the unconverted char is fed to the furnace downstream. The heat 

exchange between the flue gases and the gasifier environment is carried out through an annular type 

of heat exchanger i.e. bank of bayonet tubes vertically installed within the reactor. 
In this study, Aspen Plus™ is utilized to simulate process kinetics and overall process heat 

integration while MS Excel™ is used to calculate the indirect heat transfer from the bayonets to the 

gasification reactor. To estimate and optimize the existing and novel gasification processes, several 
model based studies have been carried out previously. Wen et al. [9] developed a mechanistic 

computer model to simulate their experimental work performed earlier [5] on the gasification of 

bituminous coal in a Lurgi gasifier with steam and oxygen as the gasifying media. But mechanistic 
models use complex systems of equations to describe a gasification process in terms of chemical 
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kinetics, physical properties and flow dynamics. In order to avoid extensive efforts required by these 

numerical models in providing a substantial amount of data, readily available process simulation 
software can be efficiently used. Several works have been performed to simulate actual gasification 

processes either in agreement with some experimental data or to provide a forecast of sufficient 

thermodynamic advantage of a newly proposed gasification scheme. Aspen Plus™ has been used for 
various types of gasification processes by several authors such as Sudiro et al. [10,11] and  

Zhang et al. [12] for dual bed gasification processes and more recently Arthur et al. [13] for a 

transport gasifier. Feng et al. [14] proposed a steady-state kinetic model in Aspen Plus™ for a 
pressurized fixed bed Lurgi gasifier of industrial scale to investigate the sensitivity of the scheme 

towards variations in mass ratios of oxygen and steam to coal feed, which again provides a process 

simulation model for an oxygen and steam fed gasifier but for a highly volatile lignite coal. Some 
studies are carried out to investigate novel indirect gasification methods other than dual bed 

configuration. Kawabata et al. [15] have studied the effects of exergy recuperation in a triple-bed 

combined circulating fluidized bed gasifier where steam is the sole gasification medium while the 
reaction heat is provided by the exhaust gases of a high temperature gas turbine. Duan et al. [16] 

have thermodynamically studied the production of hydrogen rich gas from the steam gasification of 

coal using blast furnace slag as the heat carrier.  
Our work though focuses on determining the performance of an industrial scale, single moving 

bed gasifier fed with bituminous coal with steam as the single gasification agent. The coal used for 

this simulation analysis is Pittsburgh No. 8, which was considered for syngas production in a Lurgi 
gasifier by Wen et al. [5]. The scope of this work is focused on proposing and testing a new 

gasification process, on the basis of energy efficiency analyses. Economic evaluation of the proposed 

schemes is not carried out at this stage. 

2. Development of Process Scheme  

The reactor developed and simulated in this work is shown in Figure 1. It is a moving bed type 

coal gasification reactor where the coal is fed from the top hopper, with high pressure super-heated 

steam as the gasifying medium, entering the lower part of the reactor. The heat of the endothermic 
gasification reaction is provided by the vertical bayonet tube heat exchangers installed in the reactor. 

The product gas obtained from the reaction contains CO, H2, CO2, CH4, and the unreacted steam 

with traces of N2, H2S, and tar. The ash is retrieved at the bottom along with unreacted coal. This 
configuration is chosen to compare the output of this work to the previously reported results for 

bituminous coal oxygen-steam gasification in a similar gasifier. 

The bayonet heat exchanger is comprised of two concentric tubes, in which the fluid enters 
through the central one. The advantage of this type of layout lies in the possibility of using high-

temperature heating streams (flue gases up to 1400 °C), provided that the bayonets are realized with 

suitable materials resistant to high temperatures [17]. A further characteristic of this type of 
exchangers is the ability of the two concentric tubes to thermally expand independently from each 

other, thus making them suitable in environments with high temperature differences [18]. 
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Figure 1. Schematic of the proposed gasifier with indirect heat transfer through a bayonet. 

In the topmost section of the gasifier, adiabatic processes of coal drying and coal pyrolysis take 

place. The drying process removes the physically bound moisture from coal while the pyrolysis 

process comprises of the removal of volatiles producing a gaseous mixture of permanent gases, light 
hydrocarbons and tars. The heat for these processes is supplied by the hot gaseous mixture (raw 

syngas) rising from the rest of gasifier volume below. It is assumed that there is no temperature 

gradient across the solid and gaseous material streams (char, moisture, pyrolysis gases and raw 
syngas) in the radial direction. From the results obtained by Hobbs et al. [19], it is known that the 

length of coal drying and coal pyrolysis sections is comparatively much smaller than the total gasifier 

length required for gasification. Therefore, it is further assumed that these processes take place as 
soon as the coal comes in contact with exiting hot gases. 

Two schemes are proposed to explore the possibility of the use of post-combustion flue gases as 

a thermal vector in a bayonet heat exchanger. In first scheme, according to the process Scheme 1, the 
hot flue gases flowing inside the bayonets are obtained by the combustion of a part of the produced 

raw syngas in a furnace.  The other alternative, shown in Scheme 2, generates the flue gases for heat 

transfer from the combustion of carbonaceous solid residue out of the gasifier. In both cases, the base 
for calculation is a coal feed of 70,000 kg/h (19.44 kg/s). In the following sections, the two schemes 

are explained in detail and some relevant values of process streams variables from the mass and 

energy balances are reported for better understanding of the process. 
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2.1. Partial Syngas Combustion Process: 

In Scheme 1, the raw syngas produced in the gasifier is split in two streams in a way that 

temperature of the flue gases downstream can be maintained as required. 55.53% of the raw syngas 

stream is taken out as the product. The remaining syngas is combusted in the furnace with 20% 
excess air, to generate 63.89 kg/s of high pressure steam keeping the temperature of hot flue gases at 

1300 °C. These gases then provide the heat required for gasification, preheat the air supplied to the 

furnace, and convert part of feed water into saturated steam. 5.96 kg/s of surplus high pressure 
saturated steam is generated from the still-hot flue gases before they are finally exhausted at 150 °C. 

A secondary stream of feed water is converted to saturated steam by cooling the hot product gas from 

the gasifier down to 180 °C. An adiabatic gasification volume is assumed at the top of the gasifier to 
use the heat content of the high temperature product gas to help in drying, pyrolysis and partial 

gasification of the incoming fresh coal. Note that the bayonet inlet temperature of the flue gases 

produced from the combustion of hot syngas in the furnace is 1300 °C. In such conditions, the 
central tubes of the bayonets, which are exposed to the high temperature flue gases at inlet, must be 

made with a suitable material (Appendix C). 

 

Scheme 1. Simplified process scheme of indirect gasification using the flue gases 

from the partial product gas combustion as the heat source. 

In the upcoming hydrogen and power co-generation schemes, syngas produced is used for the 

production of hydrogen or other synthetic fuels in a once-through reactor and the unconverted gas is 
used for power generation after the combustion of syngas in a furnace [20,21]. But, power generated 
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in this case has also to serve for the ASU. In our Scheme 1, similarly, part of the syngas is “wasted” 

in combustion and is not available for downstream chemical syntheses. However, it not only 
provides for the heat of gasification reaction, but generates process steam, preheats combustion air, 

and provides ample surplus steam for power generation as well. 

2.2. Unreacted Char Combustion Process 

According to Scheme 2, the flue gases are generated by the combustion of unreacted char 
flowing out from the gasifier with 30% excess air. The temperature of the flue gases coming out 

from the furnace burning this char is limited to 1000 °C to avoid ash sintering [22]. This temperature 

is maintained by producing 38.89 kg/s of high pressure steam at 850 °C and about 35.36 kg/s of 
surplus high pressure saturated steam at 241 °C. The lower temperature of the flue gases entering the 

bayonet forces the gasification to be carried out at lower temperature as compared to Scheme 1, 

limiting the overall carbon conversion to 33.13%. In addition, an adiabatic gasification volume is 
assumed at the bottom of the gasifier to exploit the heat content of the incoming steam. This starts 

the steam reforming process and reduces the temperature of the gasification environment, thus 

increasing the amount of heat that can be drained from the following bayonet section.  

 

Scheme 2. Simplified process scheme of indirect gasification heated by flue gases 
from the residual unreacted char combustion. 
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After exiting from the bayonets, the flue gases then preheat the air supplied to the furnace, and 

are finally exhausted after heating the water for surplus steam generation. The heat content of the raw 
hot syngas is utilized to preheat the feed water for gasification before it is superheated in the furnace. 

These two combinations of hot and cold streams for heat exchange are interchangeable but the net 

heat utilization effect remains same. 

3. Process Modeling 

The Process Model for the reaction being carried out with the gasifier reactor is developed in 

the Aspen Plus™ Process Simulator. The components in the simulation are modeled using Aspen 

Plus™ guidelines to calculate thermodynamic and transport properties. The conventional 
components considered for simulation are hydrogen, oxygen, nitrogen, water, methane, carbon 

monoxide, carbon dioxide, hydrogen sulfide and benzene (to represent tars) in MIXED sub-stream. 

Carbon and sulfur are modeled in CISOLID sub-stream. To calculate the physical properties of 
mixed conventional components and of solid components, the property model RKS-BM is used. A 

non-conventional component sub-stream is also introduced to represent coal, dry coal, char and ash. 

These are described by defining their component attributes i.e. their Proximate, Ultimate, and Sulfur 
Analyses. Component attributes of dry coal and char are calculated from the analysis data of original 

coal and the amount of gaseous pyrolysis products in terms of mass balance. DCOALIGT and 

HCOALGEN are used to calculate the densities and enthalpies of non-conventional components 
respectively.  

The following assumptions were taken into account while developing the model: 

 The process is at steady state;  
 Pressure losses are neglected;  

 The temperatures of the solid phase and gas phase are equal at any point. 

3.1. Gasifier Stages 

In the gasifier, three major stages are observable, in sequence: coal drying, coal pyrolysis, and 
char gasification. As stated earlier, drying and pyrolysis processes take place at the uppermost layer 

of the gasifier coal bed, therefore relatively simpler modeling approaches have been considered for 

these stages, whereas detailed modeling has been performed on the gasification section only. 
In Coal Drying, the moisture physically bound in the coal is released into the gas phase by 

taking heat from the incoming hot streams passing through the top portion of the gasifier. The 

amount of water vaporized is determined from the proximate analysis of the coal i.e. 4.58% of coal 
fed. The drying section is modeled as a RYield reactor at a temperature of 300 °C [23]. 

In Coal Pyrolysis, the dried coal is broken down into Char and other gases generated from the 

conversion of volatile materials into CO, H2, CO2, H2O, H2S, N2, CH4, and tar (represented by C6H6), 
according to:  

Coal → CO + H2 + CO2 + H2O + H2S + N2 + CH4+ C6H6 + Char      (1) 
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The pyrolysis gas becomes part of the product gas stream, while the char goes down into the 

gasification section. The amount of each pyrolysis product is predicted using the experimental data 
by Suuberg et al. [24] according to the coal feed ultimate analysis. The results are shown in Table 1. 

The high amount of char fraction is due to the type of coal utilized. These pyrolysis yields are used 

as input in a RYield reactor according to Reaction (1). The temperature of pyrolysis is set at 600 °C, 
according to Zhang et al. [12]. 

Table 1. Yield of Pyrolysis Products [23]. 

Components Yield  

(mass basis on dried coal, %) 

CO 1.9 

CO2 2.25 

H2O 0.65 

CH4 13.95 

H2 0.54 

tar 5.79 

H2S 0.94 

N2 0.35 

Char 73.63 

In order to model the axial mixing within the gasifier, a series of 12 equal volume RCSTR 
blocks has been applied. The adiabatic sections have been simulated by RCSTR blocks as well. The 

number of RCSTRs chosen is typical of a flow pattern close to a plug flow reactor. The temperature 
in each RCSTR is coupled with a corresponding section of the bayonet heat exchanger, whose length 

is also divided in 12 equal cells (further details in section 3.2). The pressure of each block is 3.5 MPa 

with a bed voidage linearly varying from 0.4 to 0.7 [23]. 
To model the kinetics of char gasification, the following reactions are considered [9,25]: 

ܥ ൅
୞ାଶ

ଶ୞ାଶ
ܱଶ →

୞

୞ାଵ
 ܱܥ ൅ 

ଵ

୞ାଵ
 ଶ   (2)ܱܥ

ܥ ൅ ଶܱܪ →  ܱܥ  ൅ ܪଶ     (3) 

ܥ ൅ ଶܱܥ →  (4)       ܱܥ2 

ܥ ൅ ଶܪ2 →  ସ        (5)ܪܥ 

ܱܥ ൅ ଶܱܪ → ଶܱܥ   ൅ ܪଶ      (6) 

ଶܪ ൅ 0.5ܱଶ →  ଶܱ       (7)ܪ
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where, 

   Z ൌ
େిో

େిోమ
ൌ 2500݁

షలమరవ

೅  , [26]         (8) 

Cେ୓ =Mean concentration of CO, kmol/m3. 
Cେ୓మ=Mean concentration of CO2, kmol/m3. 

T=Temperature, K. 

The reactions defined above are of mainly two categories; gas-solid ((2)–(5)) and gas-gas ((6)–
(7)). In the gas-solid reaction (2), the rate of reaction is usually fast relative to diffusion rate of 

oxygen into the coal; therefore this reaction is considered as a surface reaction. Reactions (3)–(5) 

have rather slow rates of reactions at gasifier temperatures below 1000°C, thus they are volumetric in 
nature. 

In the Aspen Simulation, the reaction kinetics are calculated using an external FORTRAN 

subroutine, according to the rate equations summarized in Appendix A. 

3.2. Heat Transfer Modeling: Bayonet Construction and Set-up 

The heat transfer model for the bayonet heat exchanger is based on the one developed by 

Bussman et al. [27] for variable test furnace cooling in process industries. 

Bayonets are special heat exchange devices comprising of two sections. Hot Flue gases from the 
furnace enter the inner tube of the bayonet and rise to the end of the inner section. At this point, they 

turn back, and enter the annular section of the bayonet tube, flow back downwards and then 

discharge from the tube to the circuit downstream. These tubes are installed vertically on the reactor 
floor. The flow of the flue gases through a simplified diagram of a bayonet tube heat exchanger is 

shown in Figure 2, together with relevant variables defined in Appendix B. 

In the partial product gas combustion process (Scheme 1), the inner tube material is considered 
to be  sintered α-SiC ceramic material to withstand the flue gases entering the bayonet tubes at 

1300 °C, while in the residual char combustion Scheme 2, it is of HK-40 heat resistant alloy. The rest 

of the bayonet assembly (annular section) is considered to be made of HK-40 heat resistant alloy for 
efficient heat transfer to the mixture of steam & raw syngas in the reactor environment around these 

bayonet tubes. 

The height of each bayonet tube is 18 m to allow the required heat transfer to the gasification 
reaction. The ceramic portion of the tube may be assembled in parts (for ease in fabrication) as no 

absolute sealing is mandatory between the flue gases in central and annular sections of the bayonet 

which are assumed to be at same pressure. To facilitate the calculations and profiling of the heat 
transfer and temperature distribution along the length of the bayonet tubes, these are divided in 12 

hypothetical cells of length 1.50 m each. As 5 meters more are needed to account for the adiabatic 

region of gasification, the total reactor height is 23 m. 
Following assumptions were taken into account while developing the calculation model for the 

heat transfer through the bayonet tubes to the reactor. 

1. Thermal properties of the gaseous streams (flue gases flowing inside the central and annular 
sections of the bayonet and gasifier gases flowing externally over the annular section) vary 
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from top to bottom with temperature and composition fluctuations. Therefore, the division 

of the bayonet length in 12 cells helps in taking into account this variation and thus these 
thermal properties are calculated at the mean temperature of each cell. 

2. Radial heat transfer supersedes the axial heat transfer through the bayonet walls.  

3. Outer annular surface of each cell is assumed to be surrounded by a thin layer of gases 
flowing in the gasifier from bottom to top along the length of the bayonet tube heat-

exchanger. 

4. Heat transfer by radiation is considered to take place from the center pipe wall to the 
annulus inner wall and from the annulus outer wall to the reactor volume. 

5. The heat exchange at the top hemispherical section of the bayonet tubes is neglected as the 

hemispherical area at the top (0.016 m2) is 30 times smaller than the area of one cell (0.471 
m2) i.e. 360th part of the entire bayonet.  

Table 2 summarizes the dimensions of the reactor, the bayonet tubes and their distribution in the 

gasifier cross section [28]. The coal is assumed to flow only between two adjacent rows of bayonet 
tubes. 

Appendix B summarizes the energy balances and material properties utilized in calculating the 

heat transferred to the gasification reaction through the length of the bayonet tubes. This model is 
formulated in an Excel™ spreadsheet.  

Table 2. Dimensions of the gasifier reactor. 

REACTOR VESSEL Diameter [7] 5.0 m 

BAYONETS 

Number of Bayonets (Linear Pitch) 487 

Number of rows 15 

External tube outer radius 5.0 cm 

Internal tube outer radius 3.8 cm 

Tubes’ thickness 0.5 cm 

Distance between two consecutive bayonets in a  tube row  1.0 cm 

Distance between two consecutive tube rows 22 cm 

Minimum Clearance between wall and the tube bank 22 cm 
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Figure 2. Schematic of a bayonet tube heat exchanger (Refer to Appendix B). 
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4. Process Simulation 

4.1. Input Parameters 

Simulation input parameters are defined in Table 3.  

Table 3. Input Parameters for the gasification simulation. 

Combustion Mode 
Partial Product 

Gas 

Unreacted Char Reference/ 

Basis 

Gasification Pressure (MPa) 3.5 3.5 [23] 

Steam flow rate in (kg/s) 63.89 38.89 

Preliminary 

Sensitivity 

Analysis 

Steam/Coal Ratio (kg/kg) 3.3 2.0 

Steam-in Temperature (°C) 950 850 

Excess Air in Furnace (%) 20 30 

Air Pre-heat Temperature (°C) 550 550 

Flue gas temperature at bayonet inlet (°C) 1300 1000 Furnace Fuel Type

Preliminary sensitivity analyses were performed (not reported) in order to determine some of 

the values stated above. Steam input flowrate (and thus the steam to coal ratio) and temperature are 
chosen in order to keep the maximum gasification temperature below 1050 °C. In the unreacted char 

combustion scheme, there is a lower steam input because of a lower coal conversion to be achieved 

in the gasifier; while the steam temperature is limited to 850 °C by the temperature limitation in the 
residual coal furnace. Combustion air excess varies between the two schemes because of the fuel 

nature (solid and gaseous) providing the optimum flowrate of flue gases inside the bayonet tubes to 

supply the required heat transfer. Air pre-heat temperature is set based on the known industrial 
practices. In the case of partial product gas combustion, absence of ash sintering problem in the 

furnace allows the temperature of the flue gases to be kept as high as 1300 °C. 

4.2. Feedstock 

The coal feedstock conditions simulated are given in Table 4.  

Table 4. Coal Feedstock Conditions for the Gasification Process. 

Pittsburgh No. 8 

Bituminous Coal 

Mass Flow rate 19.44 kg/s 

Temperature 20 °C 

Particle Diameter 1.0 cm 
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Table 5 shows the proximate, ultimate and sulfur analyses of the feedstock coal, whose dry 

basis LHV is calculated as 32.32 MJ/kg using Boie Correlation with bias correction [29]. 

Table 5. Component Attributes of the Coal used in the Base case Model [9]. 

Proximate Analysis Ultimate Analysis Sulfur Analysis 

Element 
Value  

(wt. %) 
Element 

Value (wt. %, 

dry basis) 
Element 

Value (wt. %, 

dry basis) 

Moisture  

(wet basis) 4.58 
C 77.76 Pyritic 0.87 

H 5.24 Sulfate 0.87 

Fixed carbon 

(dry basis) 39.16 
N 1.47 Organic 0.88 

Cl 0     

Volatile Matter 

(dry basis) 
52.72 

S 2.62    

O 4.79     

Ash (dry basis) 8.12 Ash 8.12     

4.3. Terminologies 

Conversion of coal, XC, in the reactor is based upon the conversion of carbon content in the char 
introduced to the gasification process: 

ܺ௖ ൌ  
௠಴,೔೙ି ௠಴,೚ೠ೟

௠಴,೔೙
                                                         (9) 

where; 

mC,in = mass flow rate of elemental carbon of feed coal into the gasifier, kg/s. 

mC,out = mass flow rate of elemental carbon in the solid outflow from the gasifier, kg/s. 
Cold Gas Efficiency [10] of the process is calculated as: 

ݕ݂݂ܿ݊݁݅ܿ݅ܧ ݏܽܩ ݈݀݋ܥ ൌ  
௅ு௏ ௢௙ ஽௥௬ ௌ௬௡௚௔௦,   ெௐ

௅ு௏ ௢௙ ி௘௘ௗ ஼௢௔௟,   ெௐ
               (10) 

Syngas yield is defined as: 

݈ܻ݀݁݅ ݏܽ݃݊ݕܵ ൌ  
ெ௔௦௦ ௙௟௢௪ ௥௔௧௘ ௢௙ ௗ௥௬ ௦௬௡௚௔௦,௞௚/௦௘௖

ெ௔௦௦ ௙௟௢௪ ௥௔௧௘ ௢௙ ௖௢௔௟ ௙௘௘ௗ,௞௚/௦௘௖
                            (11) 

“Condensate” is defined as the water removed from the raw syngas after condensation under 

pressure. This water must later be sent to the waste water treatment facility. 

The two schemes developed in this paper simulate the production of syngas for a variety of 
purposes, not limited to power production. However, for the sake of comparison to conventional 
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gasification processes, a power generation scheme was also simulated which utilizes the products of 

Scheme1 and Scheme 2 to produce electricity through gas and steam turbines. The net electricity 
produced in the power generation schemes is then used to calculate thermal efficiency, defined as: 

 ݕ݂݂ܿ݊݁݅ܿ݅ܧ ݈ܽ݉ݎ݄݁ܶ ൌ  
ா௟௘௖௧௥௜௖௔௟ ௉௢௪௘௥ ௉௥௢ௗ௨௖௘ௗି஺௨௫௜௟௜௔௥௬ ௉௢௪௘௥ ோ௘௤௨௜௥௘௠௘௡௧ ,   ெௐ

஼௢௔௟ ூ௡௣௨௧ ா௡௘௥௚௬ ሺ௅ு௏ሻ,   ெௐ
 (12) 

4.4. Simultaneous Convergence of Energy Balances, Heat Integration and Reaction Kinetics 

Three models are run iteratively in order to achieve a heat and temperature distribution which 
satisfies all of them in terms of conservation of energy and mass balances. These three models are: 

1. Model for Reaction Kinetics (by Aspen Plus™) 

2. Model for Process Simulation & Heat Integration (by Aspen Plus™) 
3. Model for Heat Balance in bayonet heat exchangers (by MS Excel™) 

For convergence, the iterations are locked when the following two conditions are fulfilled 

simultaneously:  

max௜ୀଵ…ଵଶห ைܶ,௜,௝ െ ைܶ,௜,௝ିଵห ൏ 0.8                        (13) 

max௜ୀଵ…ଵଶ
ห௤೔,ೕି௤೔,ೕషభห

∑ ௤೔,ೕ
భమ
೔సభ

    ൏   0.06%         (14) 

Where, 

TO,i,j = mean temperature of the gasifier gases across cell i in jth iteration, °C. 

qi,j = heat transfer to the gasifier gases through cell i in jth iteration, MW. 

Each one of the 12 bayonet cells corresponds to an RCSTR block unit in the Aspen Plus 
Simulation, as far as the heat transfer is concerned. The thermal and flow properties of the flue gases 

passing through the bayonet tube heat exchangers and the those of the mixture of steam and syngas 

flowing over the outer surface of the bayonets are retrieved from the Aspen Plus™ simulation and 
integrated in the MS Excel™ sheet. The volume flow rate over the bayonet surface and heat transfer 

of each cell is converged with the heat transfer taking place in the corresponding RCSTR unit. The 

Excel™ Solver tool is utilized to minimize the squared deviations of the heat balance equations (B1 - 
B7) listed in Appendix B. 

Chart 1 depicts the flow of data for the convergence scheme among the three models.  
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Chart 1. Scheme of inputs/outputs of each program used. 
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5. Results and Discussions 

Simulation results for the two cases considered are presented in Table 6. The figures reported 

are based on the analysis of dry syngas after condensate removal from the raw syngas product stream. 

Table 6. Simulation Results. 

 Partial Syngas 

Combustion 

(Scheme 1) 

Unreacted Char 

Combustion 

(Scheme 2) 

Mass flow rate of syngas, dry basis (kg/s) 21.64 17.36 

Molar flow rate of syngas, dry basis (kmol/s) 1.27 1.06 

Mole% Composition (dry basis)   

CO 18.94% 12.53% 

H2 54.47% 50.97% 

CO2 17.67% 17.58% 

CH4 7.74% 16.24% 

N2 0.40% 0.91% 

H2S 0.21% 0.48% 

C6H6 0.57% 1.29% 

Mass flow rate of condensate (kg/s) 23.34 31.64 

Condensate/Syngas, dry basis (kg/kg) 1.08 1.82 

Conversion of C, in the gasifier (XC) 95.52% 33.13% 

H2/CO Molar Ratio 2.88 4.07 

Syngas Yield 1.11 0.89 

Cold Gas Efficiency 59.85% 58.91% 

LHV syngas, dry basis (MJ/kg) 16.58 20.42 

LHV syngas, dry basis (MJ/kmol) 266.11 331.80 

CO2 produced per unit dry syngas (kmol/kmol) 0.589 0.766 

Comparison of the two schemes analyzed, as presented in Table 6, shows that; 

 In the unreacted char combustion case, the H2/CO molar ratio is higher, because the higher 
steam flow rate and the lower gasification temperature favor the Water-Gas shift reaction. 

 In the unreacted char combustion process, the conversion of coal in the gasifier is small, yet 
all of the residual carbon is combusted in the furnace for heat generation.100% of the coal 
heating value is utilized, contrary to the partial syngas combustion scheme where almost 

4.48% of carbon in char remains unreacted.  

 Due to lower temperature range of the unreacted char combustion process, the mole fraction 
of methane in the dry product gas is almost twice of that in the partial syngas combustion 
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process and in the conventional gasification process. Accordingly, a higher LHV of the 

syngas produced is obtained with the unreacted char combustion scheme. 

 There is a lower flow rate of condensate in the partial product gas combustion scenario, as 
almost half of the raw syngas containing unreacted steam goes directly into the furnace for 

combustion, where it does not condense, but serves as a carrier of heat into the bayonet 
tubes. In the unreacted char scheme, this role is served by 10% more excess air in the 

furnace to provide optimum flow properties in the bayonets for the required heat transfer. 

Table 7. Typical composition of the syngas (dry basis) obtained from Pittsburgh No. 
8 Bituminous coal gasification in Lurgi Process [5]. 

Composition Mole% 

CO 16.9% 

H2 39.4% 

CO2   31.5% 

CH4 9.0% 

H2S 0.8% 

N2 1.6% 

CnHm 0.8% 

H2/CO Molar Ratio 2.33 

Cold Gas Efficiency 75.3% 

Effective Efficiency 48.8% 

LHV syngas, dry basis (MJ/kmol) 250.82 

CO2 produced per unit dry syngas (kmol/kmol) 0.665 

In Table 7, some typical values of product composition for the gasification with oxygen are 

shown [5,9]. When comparing the dry basis molar compositions of syngas in Tables 6 and 7, it can 
be observed that in the steam gasification processes presently proposed, there is a higher molar 

composition of hydrogen or hydrogen containing compound (i.e. methane) and thus the carbon 

dioxide produced is considerably less. However, the carbon dioxide emissions from the processes 
here considered should take into account also the contributions of the flue gases (in our proposed 

schemes) and of the carbon dioxide produced in coal combustion to generate power for ASU and 

steam (in a Lurgi process). It should be observed that with respect to moles of dry syngas produced, 
the moles of CO2 emitted collectively from the flue gases and the syngas product are the least in 

Scheme 1 as compared to the schemes with coal combustion i.e. the conventional Lurgi gasifier and 

the Scheme 2. 
Further, the effective efficiency (defined as gross heating value of syngas produced per unit 

heating value of coal consumed in: gasification + generation of steam + power for the process) is 

higher for the presently proposed processes with respect to the Lurgi process if, in this last case, we 
take into account the energy required for the production of steam and power. For our schemes, the 

effective efficiency is practically represented by the cold gas efficiency. 
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Table 8 summarizes the results of the heat and temperature distribution in the bayonets and in 

the gasification reaction. Note that the total heat provided by the bayonets is only 24.93 MW in the 
case of unreacted char combustion as compared to 68.63 MW in the other case. Therefore, a lower 

heat duty and lower operating temperature range allow for a safer and more flexible operation and 

easier to fabricate construction materials. 

Table 8. Results obtained from the heat balances for the base case. 

 
Partial Syngas 

Combustion 

Unreacted Char 

Combustion 

Total heat provided from the bayonets (MW) 68.63 24.93 

Height of bayonets (m) 18.0 18.0 

Temperature of Flue Gas exit from bayonets (°C) 1079.2 879.9 

Range of Gasification temperature(°C) 926-1032 799-851 

Heat Duty consumed in Drying and Pyrolysis(MW) 30.49 30.49 

Temperature of Syngas + Steam at gasifier exit (°C) 661 504 

 

Figure 3. Temperature profiles along the length of bayonet heat exchangers. 
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In Figure 3, the temperature profiles of the flue gases are plotted in the two sections of the 

bayonet heat exchanger and of the syngas and steam mixture in the gasification reactor around the 
bayonets, for both Scheme 1 and Scheme 2. It is apparent that, in the partial product gas combustion 

scheme the overall temperature range is much larger. This fact might make the process safety and 

operational stability more challenging. There is a higher temperature gradient between the two 
temperature profiles in the bayonet sections, which justifies the use of the sintered α-SiC for bayonet 

core construction to withstand high temperature and an equally good and stable thermal conductivity 

to conduct the large heating power to be transferred. 
The difference in the ranges of gasification temperatures between the two schemes is also 

visible in Figure 3. The unreacted char combustion scheme has a quite uniform temperature 
throughout the reactor height (overall ΔT = 52 °C). This simplifies the equipment design as well as 

operation of the process. 

Finally, to evaluate the thermal efficiency of the processes, a series of gas and steam turbines is 

arbitrarily simulated which utilizes the products (syngas and surplus steam) of the two proposed 
schemes and a Lurgi gasifier to produce power. The conventional process model is based on the one 

developed by Aspen to simulate the results presented by Wen et al. [5]. Oxygen to coal ratio is kept 

at 0.6 and the steam to coal ratio at 2.85 kg/kg [23]. Table 9 shows the breakdown of energy from 
input to output which allows calculating the final thermal efficiency. 

Table 9. Comparison of Thermal Efficiencies for Gasification Schemes with Oxygen 
(Conventional), Partial Syngas Combustion, and Unreacted Char Combustion. 

Energy, MW 

Conventional O2 

Gasification 

Partial Syngas 

Combustion 

(Scheme 1) 

Unreacted Char 

Combustion 

(Scheme 2) 

Coal Thermal Energy Input 609.5 

Syngas Thermal Energy Content 500 646.4 353 
Thermal Energy Drainage: 

- Steam Generation 
- Indirect Gasification Heat 

 
166.3* 

0 

 
293.2 
68.6 

 
0 
0 

Gross Power Produced 301.1 216.7 188.1 
Electrical Energy Drainage: 

- Air Separation Unit  
16.9* 0 0 

Auxiliary Power Consumption 

(2.5% of gross power generation)† 7.5 5.4 4.7 

Net Electrical Power 276.7 211.3 183.4 

Thermal Efficiency 45.40% 34.67% 30.09% 

* These values are calculated as indicated by Higman and Van der Burgt [7]. 
† These values are calculated on the basis of values provided by Zheng and Furinsky [30]. 
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The syngas energy content for Scheme 1 seems higher than the energy coming in with coal but 

it should be noted that this gasification process takes energy input from coal as well as from the 
incoming steam and the bayonets. Thus, when the flue gases are generated from the combustion of a 

part of the syngas produced to cater for these heat provisions, there is an effect on the net power 

produced. Energy required for steam is taken from the hot flue gases generated by the combustion of 
syngas. Therefore, for the scheme 2, this value remains zero as the steam is generated by the 

combustion of unreacted char, not the syngas. Similarly, the gasification heat input is also zero for 

the Scheme 2 as the flue gases for this purpose are also from unreacted char combustion rather than 
syngas. For a conventional process, there is no indirect heat provision. The gross power produced 

includes power obtained from the use of net syngas output and surplus steam in a gas and steam 

turbine combined cycle plant. After deducting power required for air separation unit and auxiliaries 
(where applicable), the net power produced in each scheme is listed to finally calculate the thermal 

efficiency as per Eq. 12.  

For the given type of coal and the gasifier configuration, the above comparison shows that the 
schemes proposed in this paper have lower thermal efficiencies as compared to the conventional 

gasification with oxygen; therefore they are less suitable for power generation purposes. However, in 

the case of chemical synthesis, our schemes offer the advantage of avoiding the need of energy 
consumption in an air separation unit and lower carbon dioxide content in the product gas. 

6. Conclusions 

In this paper, a gasification process using solely high temperature and high pressure steam as a 

gasifying medium has been developed, simulated and analyzed. The heat for endothermic reaction is 
indirectly provided through bayonet tube heat exchangers installed inside the gasifier, through which 

hot flue gases from hydrocarbon combustion are passed. To generate these, part of the raw syngas 

produced (Scheme 1) or the unreacted char from partial conversion in gasification (Scheme 2) are 
used. Both of these two schemes are optimized for heat integration and simulated to achieve 

energetically self-sufficient processes.  

The cold gas efficiencies for the two proposed schemes are very close and also represent the 
effective efficiencies of the schemes which remain higher as compared to a typical Lurgi gasifier 

with air separation unit. Though the gasification process with partial syngas combustion has a H2/CO 

ratio much closer to conventional gasification processes (which makes the product more suitable for 
downstream applications), in terms of the lower heating value, the gasification scheme with 

unreacted char combustion gives better results as it operates at lower gasification temperature, giving 

higher H2/CO ratio and a higher content of methane. It also requires less temperature gradient for 
heat transfer (i.e. it does not require the use of special materials).  

The thermal efficiencies for the proposed schemes are much less than typical BGL gasifier 

(typically more than 40% [30]), therefore, keeping in view the elimination of the requirement of an 
Air Separation Unit and lower molar content of carbon dioxide in product gas, these schemes might 

be suggested for syngas production for refinery utilities, chemical synthesis, and SNG and liquid 

fuels production rather than for power production. Table 10 provides a qualitative comparison of the 
schemes as discussed above. 
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The proposed process schemes are highly integrated and a careful formulation of their start-up, 

shutdown, and control procedures is of utmost importance. Moreover the construction of such types 
of bayonet heat exchanger banks and their mechanical integration to the gasifier body poses a major 

challenge for the realization of such scheme. This asks for further extensive studies of these proposed 

schemes from the mechanical, constructional, operational and economical aspects. 

Table 10. Qualitative Comparison of Gasification Schemes: Conventional (with 

Oxygen), Partial Syngas Combustion, and Unreacted Char Combustion. 

  Conventional O2 
Gasification 

Partial Syngas 
Combustion 

Unreacted Char 
Combustion 

Cold Gas Efficiency ↑ ↓ ↓ 
Effective Efficiency ↓ ↑ ↑ 

Thermal Efficiency ↑ ↔ ↓ 
LHV, dry basis ↓ ↔ ↑ 

H2/CO ratio ↔ ↔ ↑ 
Molar CO2 Content ↑ ↓ ↓ 

Syngas Yield ↑ ↔ ↓ 
Overall CO2 Emission ↔ ↓ ↑ 

↓  Low   ↔  Medium / Equivalent   ↑  High 

APPENDIX A 

Rate Equation for Reaction (2): 
The rate equation of the reaction (2) with respect to oxygen, ܴ஼ିைమ (mol/cm3.s), is based on the 

unreacted-shrinking core model [9, 31]: 

ܴ஼ିைమ ൌ
Pܱ2

1
݂݈݇݅݉

൅ 1

ܻݏ݇
2
൅ 1
݄ݏܽ݀݇

                              (A1) 

where, 
kfilm = gas film diffusion constant, mol/cm3.atm.s. 

ks = chemical reaction constant, mol/cm3.atm.s. 

kdash = ash diffusion coefficient, mol/cm3.atm.s. 

ைܲమ= partial pressure of oxygen, atm. 

Y ൌ
௥೎೚ೝ೐

௥೛ೌೝ೟೔೎೗೐
ൌ   ቀ

ଵି௫

ଵି௙
ቁ

భ

య      (A2) 

with, 

rcore = radius of unreacted core, cm. 

rparticle = radius of feed coal particle, cm. 
x = coal conversion at any time after pyrolysis is completed, based on dry-coal. 
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f = coal conversion when pyrolysis is completed, based on dry-coal. 

The particle size of the coal fed to the moving bed gasifier is taken as 1 cm. 
Since reaction (2) is a surface reaction and ks value is high when compared to kfilm and kdash, 

equation (8) can be simplified to: 

ܴ஼ିைమ ൌ
Pܱ2

1
݂݈݇݅݉

൅ 1
݄ݏܽ݀݇

                                (A3) 

where, 

݇௙௜௟௠ ൌ 0.292 x 4.26 x 
ቀ

ܶ
1800

ቁ
ଵ.଻ହ

݀௣ܶ
 

݇௔௦௛ ൌ  ݇௙௜௟௠. ௣ߝ
ଶ.ହ.

ܻ
1 െ ܻ

 

dp = diameter of feed coal particle, cm. 
εp = porosity of ash, dimensionless. In the model, εp= 0.75 [23] 

 

Rate Equation for Reaction (3) [9]: 
Reaction rate between carbon and water, ܴ஼ିுమை (mol/cm3.s.); 

ܴ஼ିுమை ൌ 930݁
షరఱబబబ

భ.వఴళ ೅ . .஼ܥ ሺ ுܲమை െ ுܲమை
∗ ሻ   (A4) 

where, 

 .஼=Concentration of carbon, mol/cm3ܥ 

ுܲమை=Partial pressure of steam in the reactor, atm. 

ுܲమை
∗ ൌ

௉ಹమ.௉಴ೀ

௘
భళ.మవష

భలయయబ
೅

 , atm. 

ுܲమ=Partial pressure of hydrogen in the reactor, atm. 

஼ܲை=Partial pressure of carbon-monoxide in the reactor, atm. 

Rate Equation for Reaction (4) [9]: 

Reaction rate between carbon and carbon-dioxide, ܴ஼ି஼ைమ(mol/cm3.s.); 

ܴ஼ି஼ைమ ൌ 930݁
షరఱబబబ

భ.వఴళ ೅ . .஼ܥ ሺ ஼ܲைమ െ ஼ܲைమ
∗ ሻ   (A5) 

where, 

஼ܲைమ=Partial pressure of carbon-dioxide in the reactor, atm. 

஼ܲைమ
∗ ൌ

௉಴ೀ
మ

௘
మబ.వమష

 మబమఴబ
೅

 , atm. 
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Rate Equation for Reaction (5) [9]: 

Reaction rate between carbon and hydrogen, ܴ஼ିுమ, (mol/cm3.s.); 

ܴ஼ିுమ ൌ ݁ି଻.଴଼଻ି
ఴబళఴ

೅ . .஼ܥ ሺ ுܲమ െ ுܲమ
∗ ሻ  (A6) 

where, 

ுܲమ
∗ ൌ ൬

௉಴ಹర

௘
షభయ.రయశ

భబభబబ
೅

൰
଴.ହ

, atm       (A7) 

஼ܲுర=Partial pressure of methane in the reactor, atm. 

Rate Equation for Reaction (6) [9]: 

Reaction rate for water-gas shift reaction, Rେ୓ିୌమ୓, (mol/s.g. of ash.), is based on the reactors 

which mostly employ an iron-based catalyst to produce hydrogen from CO and H2O. Since, in the 

simulation, no such catalyst is employed, yet ash in its reactivity serves as a catalyst in the water-gas 

shift reaction, a correction factor is assumed, representing the reactivity of ash in the char as a 
catalyst. Therefore we have, 

ܴ஼ைିுమை ൌ ௪ x 2.877 x 10ܨ
ହ. ݁ି

మళళలబ

భ.వఴళ೅. ൬ݔ஼ை. ுమைݔ െ
௫಴ೀమ.௫ಹమ
௞ೢ೒ೞ

൰ . ௧ܲ

଴.ହି
ು೟
మఱబ. ݁ି଼.ଽଵା

ఱఱఱయ

೅            (A8) 

where, 

 ,௪=Correction factor taking into account the relative reactivity of ash to the iron-base catalystܨ

dimensionless. In the model, ܨ௪=0.0084 [24]. 
 .஼ை=Mole fraction of carbon-monoxide in the reactor, dimensionlessݔ
 .ுమை=Molar Fraction of steam in the reactor, dimensionlessݔ

ுܲమை
∗ ൌ

௉ಹమ.௉಴ೀ

௘
భళ.మవష

భలయయబ
೅

 , atm   (A9) 

 .஼ைమ=Mole fraction of carbon-dioxide in the reactor, dimensionlessݔ

 .ுమ=Molar Fraction of hydrogen in the reactor, dimensionlessݔ

Water Gas shift rate constant, ݇௪௚௦ ൌ ݁ିଷ.଺଼ଽ଴ା
ళమయర

భ.ఴ ೅         (A10) 

௧ܲ=Total pressure, atm. 

Rate Equation for Reaction (7) [32]: 

Reaction rate between hydrogen and oxygen, ܴுమିைమ, (mol/m3.s.); 

ܴுమିைమ ൌ 8.83 x 10ହ. ݁ି
వ.వళల ౮ భబర

ఴ.యభఱ ೅ . .ுమܥ  ைమ  (A11)ܥ

where, 

 .ுమ= Concentration of hydrogen, mol/m3ܥ
 .ைమ= Concentration of oxygen, mol/m3ܥ
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APPENDIX B 

Following energy balance equations are formulated for the conduction, convection and radiation 

heat transfers among different sections of any given cell ‘i’ of the bayonet tube. 

 
Bayonet center pipe to inner wall: 

ଵ,௜൫݄ݖ∆ଵܴߨ2 ஼ܶ,௜ െ ଵܶ,௜൯     ൌ      
ଶగ∆௭௞಺

୪୬
ೃమ
ೃభ

൫ ଵܶ,௜ െ ଶܶ,௜൯   (B1) 

 

where, 
R1 = Internal radius of the bayonet inner tube (core), m. 

R2 = External radius of the bayonet inner tube (core), m. 

Δz = Height of one bayonet tube cell = 1.50 m. 
h1,i = Heat transfer coefficient of the flue gas flowing through the inner tube, W/m2.K. 

kI = Thermal Conductivity of the core material, W/m.K. 

TC,i = Temperature of gas in the bayonet inner tube, K. 
T1,i = Core inner wall temperature, K. 

T2,i = Core outer wall temperature, K. 

Bayonet center pipe outer wall to annulus: 

 ଶగ∆௭௞಺

୪୬
ೃమ
ೃభ

൫ ଵܶ,௜ െ ଶܶ,௜൯      ൌ ଶ,௜൫݄ݖ∆ଶܴߨ2    ଶܶ,௜ െ ஺ܶ,௜൯ ൅ ߝߪݖ∆ଶܴߨ2   ቂ൫ ଶܶ,௜൯
ସ
െ ൫ ଷܶ,௜൯

ସ
ቃ   (B2) 

 

 

where, 

h2,i = Heat transfer coefficient of the flue gas flowing through the annular section adjacent to the 
center pipe outer wall, W/m2.K.  

TA,i = Temperature of gas in the annular section, K. 

σ  = Stefan-Boltzmann constant = 5.6688 x 10-8 W/m2.K. 
ε = Effective emissivity for infinitely grey, concentric cylinders. 

  ൌ  
ଵ

భ

ഄమ
 ା 

ೃమ
ೃయ
ቀ
భ

ഄయ
ି ଵቁ

 

ε2 = Surface Emissivity of the inner tube. 

ε3 = Surface Emissivity of the metallic outer shell. 

T3,i = Annulus inner wall temperature, K. 
  

Conduction through centre pipe wall 

Convection of hot flue gas 

along outside centre pipe wall

Radiation from centre pipe wall 

to the annulus inner wall 

Conduction through  

centre pipe wall 

Convection of hot flue gas along inside 

centre pipe wall
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Annulus to metallic inner wall: 

ଷ,௜൫݄ݖ∆ଷܴߨ2    ஺ܶ,௜ െ ଷܶ,௜൯ ൅ ߝߪݖ∆ଶܴߨ2   ቂ൫ ଶܶ,௜൯
ସ
െ ൫ ଷܶ,௜൯

ସ
ቃ    ൌ    

 ଶగ∆௭௞ೀ

୪୬
ೃర
ೃయ

൫ ଷܶ,௜ െ ସܶ,௜൯   (B3) 

 

where, 
h3,i = Heat transfer coefficient of the flue gas flowing through the annular section adjacent to  

          the annulus inner wall, W/m2.K. 

kO = Thermal Conductivity of the annulus material, W/m.K. 
R3 = Internal radius of the annulus, m. 

R4 = External radius of the annulus, m. 

T4,i = Annulus outer wall temperature, K. 

Annulus pipe outer wall to gasifier environment: 

 ଶగ∆௭௞ೀ

୪୬
ೃర
ೃయ

൫ ଷܶ,௜ െ ସܶ,௜൯      ൌ ସ,௜൫݄ݖ∆ସܴߨ2    ସܶ,௜ െ ைܶ,௜൯ ൅ ௥ܥߪݖ∆ସܴߨ2   ቂ൫ ସܶ,௜൯
ସ
െ ൫ ைܶ,௜൯

ସ
ቃ (B4) 

 

 

where, 
h4,i = Heat transfer coefficient of the steam + syngas mixture flowing over the outer annular wall, 

W/m2.K. 

TO,i = Temperature of mixture of gases in the gasifier, K. 
Cr = Radiation constant = 1 [27] 

Net Heat Provided 

 ଶగ∆௭௞ೀ

୪୬
ೃర
ೃయ

൫ ଷܶ,௜ െ ସܶ,௜൯      ൌ         ௜          (B5)ݍ

 

Energy Balance between two adjacent cells  

An energy balance is required between the two adjacent cells ‘i’ and ‘i+1’ both in the center 
pipe and in the annular section. 

ሶ݉ ௣,௜ܥ ஼ܶ,௜ ൌ   ሶ݉ ௣,௜ାଵܥ ஼ܶ,௜ାଵ ൅ ଵ൫݄ݖ∆ଵܴߨ2 ஼ܶ,ప
തതതത െ ଵܶ,ప

തതതത൯                           (B6) 

where, 

ሶ݉ ൌ Mass flowrate of flue gases, kg/s. 

Convection of hot flue gas  

along inside annulus wall 

Radiation from center pipe wall 

to the annulus inner wall

Conduction through  

annulus pipe wall 

Convection of steam + syngas 

along outside annulus wall

Radiation from annulus wall to 

the gasifier environment 

Conduction through  

annulus pipe wall 

Conduction through 

annulus pipe wall

Heat provided for gasification 

by cell ‘i’ of a tube, W/tube 
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Cp = Specific heat of the flue gas, J/kg.K. 

݄ଵ ൌ
1

2
ሺ݄ଵ,௜ ൅ ݄ଵ,௜ାଵሻ 

஼ܶ,ప
തതതത ൌ  

1

2
ሺ ஼ܶ,௜ ൅ ஼ܶ,௜ାଵሻ 

ଵܶ,ప
തതതത ൌ  

1

2
ሺ ଵܶ,௜ ൅ ଵܶ,௜ାଵሻ 

And, 
ሶ݉ ௣,௜ܥ ஺ܶ,௜  ൅ ଷ൫݄ݖ∆ଷܴߨ2  ஺ܶ,ప

തതതത െ ଷܶ,ప
തതതത൯ ൌ   ሶ݉ ௣,௜ାଵܥ ஺ܶ,௜ାଵ ൅ ଶሺ݄ݖ∆ଶܴߨ2 ଶܶ,ప

തതതത െ ஺ܶ,ప
തതതതሻ     (B7) 

where, 

݄ଶ ൌ
1

2
ሺ݄ଶ,௜ ൅ ݄ଶ,௜ାଵሻ 

݄ଷ ൌ
1

2
ሺ݄ଷ,௜ ൅ ݄ଷ,௜ାଵሻ 

஺ܶ,ప
തതതത ൌ  

1

2
ሺ ஺ܶ,௜ ൅ ஺ܶ,௜ାଵሻ 

ଶܶ,ప
തതതത ൌ  

1

2
ሺ ଶܶ,௜ ൅ ଶܶ,௜ାଵሻ 

ଷܶ,ప
തതതത ൌ  

1

2
ሺ ଷܶ,௜ ൅ ଷܶ,௜ାଵሻ 

Heat Transfer Coefficient 

݄୧ ൌ
௞౟ே௨౟

ଶୖ౟
     (B8) 

where, 
Nui = Nusselt Number in/over cell i, 

hi= Heat Transfer Co-efficient in/over cell i, W/m2.K. 

ki = Thermal conductivity of flue gases in/mixture of gasifier gases over cell i, W/m.K. 
Ri = Radius (with respect to the related geometry) of cell i, m. 

Nusselt Number 

In the center pipe, Dittus & Boelter [33] recommend following expression for fully developed 

heat releasing turbulent flow in smooth pipes,  

Nuେ ൌ 0.023 Reେ
଴.଼Prେ

଴.ଷଷ   (B9) 
where, 

Nuc = Nusselt Number in the center pipe of bayonet, 
Rec = Reynolds number in the center pipe of bayonet, 

Prc = Prandtl number in the center pipe of bayonet. 

With a fully developed turbulent flow in a smooth annular section between two concentric pipes, 
following expression, suggested by Incropera and Dewitt [34] can be used. 
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Nu୅ ൌ 0.02 Re୅
଴.଼Pr୅

଴.ଷଷଷ ቀ
ୖయ

ୖమ
ቁ
଴.ହଷ

  (B10) 

where, 

NuA = Nusselt Number in the annular section of bayonet, 

ReA = Reynolds number in the annular section of bayonet, 
PrA = Prandtl number in the annular section of bayonet. 

In an experimental study of a cylinder in axial flow, mentioned by Wiberg and Lior [35], 

Nusselt number was correlated as follows, for the axial flow of gasifier gases over cylindrical 
surfaces. 

Nu୓ ൌ 0.927 Re୓
଴.ହ     (B11) 

where, 
NuO = Nusselt Number of the gasifier gases flowing over the bayonet pipe, 

ReO = Reynolds number of the gasifier gases flowing over the bayonet pipe. 

Reynolds Number 

In the center pipe, Reynolds Number is calculated as, 

Reେ ൌ  
୙ిଶୖభ

஥ి
               (B12) 

where, 
UC = Average velocity of flue gases in center pipe, m/s. 

υC = Kinematic Viscosity of flue gases in center pipe, m2/s. 

In the annulus, Reynolds number of the flue gases is calculated as, 

Re୅ ൌ  
୙ఽଶୖ౛౧

஥ఽ
                 (B13) 

where, 
UA = Average velocity of flue gases in annulus, m/s. 

υA = Kinematic Viscosity of flue gases in annulus, m2/s. 

Req = Equivalent Radius of the annular portion, m. 

Rୣ୯ ൌ  
ଶሺோయ

మିோమ
మሻ

ோమ
    (B14) 

For the flow of mixture of gases over the bayonet tubes in the gasifier environment, the 
Reynolds number is calculated as follows, 

ܴ݁ை ൌ  
௏ೀ஽ಹ

జೀሺଵିЄሻ
                                                (B15) 

where, 

VO = Superficial velocity of gasifier gases per tube, m/s. 

DH = Gasifier Hydraulic Diameter, m. 

Dு ൌ  
ସ ஺ೣ

ௐ௉
     (B16) 

Ax = Total cross-sectional area of the gasifier, m2. 
WP = Wetted Perimeter by the flow of gasifier gases, m. 



662 

AIMS Energy                           Volume 3, Issue 4, 635-665. 

         = Inner Circumference of Gasifier + 487 x Outer Circumference of a bayonet tube 

υO = Kinematic Viscosity of gasifier gases, m2/s. 
Є = Bed Voidage, varying from 0.4 to 0.7 for each cell. 

Prandtl Number 

Prandtl number of the flue gases in each cell of the center pipe and the annulus and that of the 

mixture of Syngas and steam in the Gasifier environment is calculated as, 

Pr ൌ  
େౌஜ

୩
                                                              (B17) 

where, 
k= Thermal conductivity of flue gases, W/m.K. 

µ= Dynamic Viscosity of flue gases, Pa.s. 

APPENDIX C 

The materials of construction for bayonet core and annular tubes are selected on the basis of 
temperatures observed in the simulation. The properties listed below are used in the heat balance 

equations for the bayonet heat exchangers given in Appendix B. 

HK-40 Heat Resistant Alloy:  

Service Temperature: 1093°C [37] 
Thermal Conductivity: 0.000007 T2 + 0.0088 T + 14.164, W/m.K  (C1) 

where, 

T = Wall Temperature (871°C to 1093°C) [37-38]  

Emissivity: 0.97 
Emissivity of HK-40 alloy is estimated to be equivalent to that of oxidized 20-Ni,24-Cr alloy 

[39] which has the most comparable composition with HK-40. 

Sintered α-SiC Ceramic: 

Service Temperature: 1600°C [40] 

Thermal Conductivity:   
ହଶ଴଴଴ ௘షభ.మర .భబ

షఱ.೅

்ାସଷ଻
    (C2) 

where, 

T = Wall Temperature  (0°C to 2000°C), [36] 

Emissivity: 0.96 
Emissivity of SiC ceramic increases from 0.83 to 0.96 over temperature range of 149°C to 

649°C [41]. In this work, the value of 0.96 is used for higher temperatures as well.  
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