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Abstract 

At COP26 in Glasgow in November 2021, a decisive commitment was made to limit 

the rise in global temperature to a maximum of 1.5 degrees. Urgent actions are 

required to achieve the worldwide goal of net-zero carbon emissions by the middle of 

the century, necessitating a reduction in greenhouse gas emissions. Renewable 

energy development in the long term and Carbon Capture and Storage (CCS) in the 

short term are identified as the most effective methods to combat the dramatic 

increase in CO2 emissions from industrial processes and fossil-fuel electricity 

generation. In this thesis, investigations focus on two industrial emission points with 

carbon capture technology: integrated gasification combined cycle (IGCC) integrated 

with pre-combustion CO2 capture and conventional coal-fired power plants integrated 

with post-combustion CO2 capture.  

Primarily, this thesis sought to design and evaluate two process configurations of an 

IGCC integrated with pre-combustion CO2 capture unit (Chapter 4). One IGCC 

process is configured with sour shift, while the other is based on sweet shift. 

Incorporating water-gas shift reactors (WGSRs) consuming vast amount of shift steam 

into an IGCC involves significant alternations to the associated steam cycle, in addition 

to simply changing the location of the H2S removal step around the shift reactors. 

Although the sweet shift case requires 4.6 times more shift steam compared to the 

sour shift case, the energy penalties incurred by carbon capture integration for both 

configurations were estimated to be almost equal. This similarity is attributed to the 

water quench requirements of sour shift, leading to a reduction in power generation 

during the steam cycle. In both cases, the sizes of high and low-temperature water-

gas shift reactors were estimated using the reaction rate models reported in literature.  

Additionally, this thesis aims to evaluate and compare conventional and emerging 

porous adsorbents in their applications to an adsorption-based CO2 capture processes 

from the flue gas produced by the conventional coal-fired power plant (15% CO2 and 

85% N2) (Chapter 5). The adsorbent candidates involved in this thesis include zeolites, 

carbons, MOFs, and triazine-based benzimidazole-linked polymers (TBILPs). The 

choice of adsorbent material significantly affects process performance in the design of 

efficient CO2 capture processes. It was demonstrated that adsorbents with high CO2 
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recovery did not necessarily correspond to increased productivity. Productivity 

depends on desorption pressure and CO2 isotherm shape. Despite MFI demonstrating 

the highest CO2 recovery among all zeolite candidates, it exhibited the lowest 

productivity due to its lowest CO2 adsorption capacity. Likewise, the adsorption 

materials with flat CO2 isotherms such as BPL AC, UiO-66, MIL-101(Cr)-F, MIL-

101(Cr)-OH, and TBILPs also showed better CO2 recovery but less productivity 

compared to the commercial zeolite 13X. In contrast, Mg-MOF-74 showed the highest 

productivity, attributed to its steepest CO2 isotherm during the initial stage of the 

adsorption. However, a low desorption pressure was required to reach a high CO2 

recovery, leading to extremely high energy consumption.  

To further investigate adsorbents for adsorption-based CO2 capture, a two-stage VSA 

process was simulated by gPROMS upon achieving the desired operational criteria of 

90% CO2 recovery and 90% CO2 purity (Chapter 6). The first stage was packed with 

MFI, while the second stage employed activated carbon (AC), namely MFI-AC case. 

As a comparative analysis, an alternative two-stage VSA process utilised zeolite 13X 

in the first stage and AC in the second stage (zeolite 13X-AC case). As a result, the 

total productivities for both MFI-AC and zeolite 13X-AC cases were found to be similar, 

around 6.3 𝑚𝑜𝑙/𝑘𝑔/ℎ . However, it is essential to note that the MFI-AC process 

exhibited a higher minimum specific energy consumption, estimated at 17.1 𝑘𝐽/𝑘𝑔𝐶𝑂2
, 

in comparison to the zeolite 13X-AC process.  

This thesis contributes to an advanced understanding of the process design in pre-

combustion IGCC plant integrated with the adsorption-based CO2 capture process 

with a focus on the choice between sour or sweet shift configurations. Besides, this 

thesis comprehensively evaluates various porous adsorbents for CO2 separation from 

the flue gas using a P/VSA process and provide a systemic guideline for selecting 

adsorbents.  
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Lay summary 

Since greenhouse gases, mainly CO2, are the principal contributors to global warming 

and climate change, it is vital to reduce their atmospheric emissions. Carbon capture 

and storage, known as CCS, is the most efficient approach. The CO2 is captured by 

methods such as adsorption, absorption, membrane, after which it is transported 

through pipelines and injected into a deep underground geological formation for 

storage. CCS can be integrated into various processes, including pre-combustion, 

post-combustion, or oxy-fuel combustion process. Generally, the pre-combustion 

processes include extracting CO2 from the coal or natural gas as an unwanted by-

product before combustion, typically used in the natural gas gasification combined 

cycle (NGCC) and integrated gasification combined cycle (IGCC). Conversely when 

capturing CO2 from industrial emission sources such as coal-fired power plants, it is 

advised to use the post-combustion method due to the low CO2 content in the feed 

flue gas. In this thesis, investigations focus on two primary large power plants: IGCC 

integrated with pre-combustion CO2 capture process and conventional coal-fired 

power plants integrated with post-combustion CO2 capture process.  

Firstly, this thesis sought to design and evaluate two process configurations of an 

integrated gasification combined cycle (IGCC) with pre-combustion CO2 capture unit 

(Chapter 4), employing either sour or sweet shift, based on the location of the 

desulphurisation unit. Most of past research has focused on sour shift, in which the 

H2S is removed after the water-gas shift reactions. However, only several studies 

focused on the sweet shift, where the desulphurisation occurs before the water-gas 

shift reactor. Simply changing the location of desulphurisation unit around shift 

reactors affects the configurations of the entire plant due to the incorporation of water-

gas shift reactors (WGSRs). Thus, one of the aims of this thesis is to identify the 

necessary alterations in designing the pre-combustion capture IGCC processes 

according to the choice of sweet or sour shift. It was demonstrated that the sweet shift 

case requires approximately 4.6 times more shift steam than the sour shift case. 

However, the energy penalties incurred in these two cases were nearly comparable. 

This similarity is primarily due to the water quench requirement in the sour shift case, 

which reduces power generation during the steam cycle. Moreover, the sizes of shift 
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reactors are estimated based on the mathematical models reported in the existing 

literature (Chapter 4).  

Secondly, in an adsorption-based CO2 capture process, the choice of adsorbent 

materials is one of the most critical factors affecting the process performance. Despite 

the enormous number of adsorbent materials that have been synthesised, the 

evaluation of various adsorbents in adsorption-based CO2 separation raises minor 

concerns. Thus, this thesis also aims to evaluate and compare conventional and 

emerging porous adsorbent materials concerning their CO2 recovery and productivity 

(Chapter 5). This evaluation involves a series of processes that operate alternately at 

high and low pressure, a technique known as pressure/vacuum swing adsorption 

(V/PSA), to separate CO2 from a binary gas mixture. The VSA process undergoes five 

steps: adsorption, heavy rinse, counter-current depressurisation, light product purge, 

and light product pressurisation. The candidates of adsorbents considered includes 

zeolites, carbons, MOFs, and triazine-based benzimidazole-linked polymers (TBILPs). 

The CO2 recovery was calculated using an ideal mathematic model with 100% pure 

CO2 produced. As the benchmark, packing with commercial zeolite 13X recovered 

64.7% of CO2 when the process pressure alternates between 1 and 0.03 bar. It was 

indicated that only MFI showed a higher CO2 recovery compared to the commercial 

zeolite 13X among all the zeolite samples regardless of the desorption pressure, as 

the CO2 is easier desorbed on MFI. Interestingly, It is revealed that adsorbents with 

high CO2 recovery did not necessarily correspond to increased productivity.  

Productivity depends on desorption pressure and CO2 isotherm shape. Despite 

superior CO2 recovery on MFI, it exhibits the most inefficient productivity due to its 

lowest CO2 adsorption capacity. Likewise, other adsorption materials with similar CO2 

adsorption performance, such as BPL AC, UiO-66, MIL-101(Cr)-F, MIL-101(Cr)-OH, 

and TBILPs also showed higher CO2 recovery than commercial zeolite 13X, but less 

productivity. Conversely, Mg-MOF-74 showed the highest productivity among all 

adsorbents but the lowest CO2 recovery among all MOF samples. However, the 

drawback with this adsorption material is its requirement for low desorption pressure 

to achieve high CO2 recovery, leading to energy consumption. To further investigate 

adsorbents for adsorption-based CO2 capture, two-stage VSA processes were 

simulated by gPROMS software, with the aim of achieving 90% CO2 recovery and 90% 

CO2 purity by applying a full set of mathematical model equations (Chapter 6). The 
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first-stage packed MFI, while the second stage employed activated carbon (MFI-AC 

case). As a comparative analysis, an alternative two-stage VSA process employed 

zeolite 13X in the first stage and AC in the second stage (zeolite 13X-AC case). Both 

cases yielded similar total productivities, approximately 6.3 𝑚𝑜𝑙/𝑘𝑔/ℎ. However, in 

contrast to zeolite 13X-AC process, the MFI-AC process exhibited a higher minimum 

specific energy consumption, estimated at 17.1 𝑘𝐽/𝑘𝑔𝐶𝑂2
.  

In conclusion, this thesis advances our understanding of process design in pre-

combustion IGCC plants integrated with pre-combustion CO2 capture, offering insights 

into the choice between sour or sweet shift configurations. Moreover, it 

comprehensively evaluates a range of porous adsorbents for CO2 separation from flue 

gas using a VSA process, providing systematic guidelines for selecting the most 

suitable adsorbents.  

 

 

 



vi 
 

Acknowledgement  

I would like to express my deepest gratitude to my parents, who always selflessly 

share their love and support to guide me away from the fear and bring me back to the 

light.  

I would like to express my thanks to my primary supervisor Dr. Hyungwoong Ahn, and 

co-supervisor, Dr. Gregory Francois, and Dr. Mauro Luberti, for their advice on my 

research work and assistance with my simulation work.  

I would like to express my appreciation to my dear friend and colleague, Dr. Jialin Yu, 

who always encouraged me when I was lost. Thanks are also given to my soon-to-be 

doctor friends in Edinburgh, Miss Jie Chi and Miss Danyi Liu, who are always willing 

to share my stress.  

I would like to thank my idol, a talented artist, Mr. Satoshi Ohno, whose songs and 

dances helped me to escape from the darkness. I also would like to thank my 

cherished soft toy friends, Betsey, Sharkspeare, Xinger, Xiaoju, Eugene, Keke, Lisa, 

Agatha, and Bread, who always accompany me with lovely smiles that cheer me up. 

Finally, I would like to thank myself for fighting depression and anxiety and finishing 

my Ph.D. study. 



vii 
 

Declaration 

Hereby, I declare that all the work presented in this thesis has been performed and 

written by myself. The help and contributions of others have been indicated and 

acknowledged. This work has not been submitted for any other degree or professional 

qualification.  



viii 
 

Table of Contents 

 

Abstract ....................................................................................................................... i 

Lay summary .............................................................................................................. iii 

Acknowledgement ...................................................................................................... vi 

Declaration ................................................................................................................ vii 

Table of Contents ..................................................................................................... viii 

List of Figures ........................................................................................................... xiii 

List of Tables ........................................................................................................... xvii 

List of publications during Ph.D. study ...................................................................... xx 

List of Nomenclatural ................................................................................................ xxi 

List of Abbreviations ............................................................................................... xxiv 

Chapter 1 Introduction ................................................................................................ 1 

1.1 Background and Motivation .............................................................................. 1 

1.2 Structure ........................................................................................................... 6 

References ............................................................................................................. 8 

Chapter 2 Literature review ...................................................................................... 12 

2.1 Carbon capture technologies .......................................................................... 12 

2.1.1Carbon capture and storage (CCS) ........................................................... 12 

2.1.2 Carbon Capture and Utilisation (CCU) ..................................................... 13 

2.1.3 Carbon capture processes ....................................................................... 15 



ix 
 

2.1.4 CO2 separation technologies .................................................................... 20 

2.2 Adsorbents for the post-combustion capture process ..................................... 28 

2.2.1 Carbonaceous materials .......................................................................... 28 

2.2.2 Zeolites..................................................................................................... 31 

2.2.3 Metal-organic frameworks (MOFs) ........................................................... 36 

2.2.4 Ordered mesoporous silica (M41, SBA-n, AMS) ...................................... 42 

2.2.5 Amine-functionalised silica adsorbents .................................................... 43 

2.2.6 The criteria for adsorbent selection .......................................................... 47 

2.3 Regeneration methods for adsorption-based process .................................... 48 

2.4 Isotherms on solid adsorbents ........................................................................ 49 

2.4.1 Langmuir isotherm ................................................................................... 49 

2.4.2 Dual-site Langmuir isotherm .................................................................... 50 

2.4.3 Sips isotherm ........................................................................................... 50 

2.4.4 Toth isotherm ........................................................................................... 50 

2.4.5 Freundlich isotherm .................................................................................. 51 

2.4.6 Dual-site Langmuir-Freundlich (DSLF) isotherm ...................................... 51 

2.5 Post-combustion capture for coal-fired power plants ...................................... 51 

2.5.1 Skarstrom cycle ........................................................................................ 53 

2.5.2 Modified Skarstrom cycle with co-current depressurisation steps or heavy 

reflux ................................................................................................................. 55 

2.5.3 Modified Skarstrom cycle with pressure equalisation (PE) steps ............. 56 

2.5.4 Multi-bed process ..................................................................................... 58 



x 
 

2.5.5 Other configurations for carbon capture from post-combustion flue gas .. 60 

2.6 Objectives of this thesis .................................................................................. 61 

References ........................................................................................................... 63 

Chapter 3 Methodology ............................................................................................ 97 

3.1 Equilibrium theory model ................................................................................ 97 

3.2 Mathematical model of the P/VSA process ..................................................... 99 

References ......................................................................................................... 103 

Chapter 4 The implications of choice between sour and sweet shift on process design 

and operation of an IGCC power plant integrated with a dual-stage Selexol unit ... 104 

4.1 Introduction ................................................................................................... 104 

4.2 Process configuration studies ....................................................................... 108 

4.2.1 Sour shift case ....................................................................................... 108 

4.2.2 Sweet shift case ..................................................................................... 119 

4.3 Water gas shift reactors ................................................................................ 128 

4.3.1 Sweet shift .............................................................................................. 129 

4.3.2 Sour shift ................................................................................................ 130 

4.3.3 Comparison of the sweet and sour shift reactors ................................... 131 

4.4 Summary ...................................................................................................... 134 

References ......................................................................................................... 136 

Chapter 5 Evaluation and comparison of conventional and emerging adsorbents in 

their applications to a CO2 capture vacuum pressure swing (VPSA) process ........ 139 

5.1 Introduction ................................................................................................... 139 



xi 
 

5.2 Adsorbent candidates ................................................................................... 139 

5.3 The VSA system ........................................................................................... 141 

5.4 Model description .......................................................................................... 144 

5.5 Cycle Analysis .............................................................................................. 145 

5.6 Isotherms ...................................................................................................... 148 

5.6.1 Isotherms on carbons ............................................................................. 151 

5.6.2 Isotherms on zeolites ............................................................................. 154 

5.6.3 Isotherm on MOFs ................................................................................. 156 

5.6.4 Isotherms on polymers ........................................................................... 160 

5.7 Adsorbent performance in a five-step VSA process ..................................... 162 

5.8 Effect of desorption pressure on CO2 recovery ............................................. 171 

5.9 Summary ...................................................................................................... 177 

References ......................................................................................................... 180 

Chapter 6 Simulation of the CO2 separation performance of a two-stage VSA process

 ............................................................................................................................... 187 

6.1 Introduction ................................................................................................... 187 

6.2 Model description .......................................................................................... 189 

6.3 Adsorbent Materials ...................................................................................... 192 

6.4 Model validation ............................................................................................ 194 

6.5 Process description ...................................................................................... 207 

6.6 Design of VSA .............................................................................................. 209 

6.6.1 Effects of P/F ratio on VSA performances .............................................. 212 



xii 
 

6.6.2 Effects of desorption pressure on VSA performances ............................ 214 

6.6.3 Effects of the adsorption temperature on the VSA process .................... 217 

6.6.4 Integration of the two-stage VSA process .............................................. 221 

6.7 Comparison between MFI and zeolite 13X ................................................... 221 

6.8 Summary ...................................................................................................... 223 

References ......................................................................................................... 225 

Chapter 7 Conclusion and Perspectives ................................................................ 229 

7.1 Conclusion .................................................................................................... 229 

7.2 Perspectives ................................................................................................. 232 

 



xiii 
 

List of Figures 

Figure 2-1 Different operations of CCS and CCU modified from [10]. ...................... 14 

Figure 2-2 The overview of three CO2 capture processes modified from Kanniche et 

al. [19] ...................................................................................................................... 15 

Figure 2-3 The CO2 separation technologies for post-combustion, pre-combustion, 

and oxy-fuel combustion modified from [47]. ............................................................ 20 

Figure 2-4 Chemical absorption process flow sheet modified from [49]. .................. 22 

Figure 2-5 The process flowsheet of a Rectisol process modified from [60]. ........... 23 

Figure 2-6 The process flowsheet of a Selexol process modified from [21]. ............ 24 

Figure 2-7 The schematic of the chemical looping process modified from [84]. ....... 26 

Figure 2-8 The structure of LTA-type zeolite (zeolite 4A) modified from [132, 133]. 33 

Figure 2-9 The structure of FAU-type zeolite modified from [132]. ........................... 34 

Figure 2-10 The structure of MFI zeolite taken from [132]. ....................................... 35 

Figure 2-11 The crystal structures of IRMOF- n, where n=1-7, 8, 10, 12, 14, and 16 

are taken from [160]. ................................................................................................ 37 

Figure 2-12 The crystal structures of ZIFs taken from [164]. .................................... 38 

Figure 2-13 The crystallographic model of prefect UiO-66 structure taken from [168].

 ................................................................................................................................. 39 

Figure 2-14 The crystallographic model of HKUST-1 structure taken from [180]. .... 40 

Figure 2-15 The crystallographic model of MIL-53 structure. (a) The shared MO6 

chains are extended infinitely by connecting the benzene-1,4-dicarboxylates. (b) The 

diamond shape of the inorganic chain structure is viewed in parallel [182]. ............. 41 



xiv 
 

Figure 2-16 The amine-functionalised silica adsorbents were synthesised in three 

ways, physical impregnation, covalent tethering, and in situ polymerisation with pores 

taken from [220]. ...................................................................................................... 44 

Figure 2-17 The schematic diagram of a post-combustion carbon capture process for 

a power plant [287]. .................................................................................................. 52 

Figure 2-18 Left: The schematic diagram of a basic Skarstrom cycle. Right: The step 

sequence of the basic Skarstrom cycle [293]. .......................................................... 54 

Figure 2-19 The step sequence in a two-column 6-step PSA process  [293]. .......... 57 

Figure 4-1 Gas stream flow of the gasification and syngas processing sections: sour 

shift case. ............................................................................................................... 109 

Figure 4-2 Hot and Cold composite curves of HRSG of (a) sour shift case and (b) 

sweet shift case. ..................................................................................................... 111 

Figure 4-3 Steam cycle design: sour shift case. ..................................................... 114 

Figure 4-4 Block flow diagram of pre-combustion capture IGCCs configured based on 

either sweet or sour shift. ....................................................................................... 119 

Figure 4-5 Gas stream flow of the gasification and syngas processing sections: sweet 

shift case. ............................................................................................................... 121 

Figure 4-6 Steam cycle design: sweet shift case. .................................................. 126 

Figure 4-7 Profiles of CO component mole fractions along the reactor volume: (a) high-

temperature sweet shift on Fe-based catalysts, (b) low-temperature sweet shift on Cu-

based catalysts, (c) high-temperature sour shift on CoMo-based catalysts, (d) low-

temperature sour shift on CoMo-based catalysts. .................................................. 134 

Figure 5-1 The step sequences of the five-step VSA process. F, feed adsorption; HR, 

heavy rinse; CnD, counter-current depressurisation or blowdown; PU, light product 

purge; LPP, light product pressurisation. ................................................................ 145 

Figure 5-2 (a) CO2 isotherms and (b) N2 isotherms on carbons at 298 K and within the 

pressure range of 0-1 bar. ...................................................................................... 154 



xv 
 

Figure 5-3 (a) CO2 isotherms and (b) N2 isotherms on zeolites at 298 K and within the 

pressure range of 0-1 bar. ...................................................................................... 156 

Figure 5-4 (a) CO2 isotherms and (b) N2 isotherms on MOFs at 298 K and within the 

pressure range of 0-1 bar. ...................................................................................... 158 

Figure 5-5 (a) CO2 isotherms and (b) N2 isotherms on TBILPs at 298 K and within the 

pressure range of 0-1 bar. ...................................................................................... 162 

Figure 5-6 The CO2 recovery versus desorption pressure (PL) on (a) zeolites, (b) 

carbons, and (c) MOFs and (d) TBILPs at 298K within the desorption pressure range 

between 0.1-10 kPa. .............................................................................................. 172 

Figure 5-7 The productivity versus PL on (a) zeolites, (b) carbons, (c) MOFs, and (d) 

TBILPs at 298K within the desorption pressure range between 0.1-10 bar............ 177 

Figure 6-1 The isotherms of (a) CO2 on MFI, (b) N2 on MFI, (c) CO2 on activated carbon, 

and (d) N2 on activated carbon within the pressure range of 0-1 bar under different 

temperatures. ......................................................................................................... 193 

Figure 6-2 The scheme of the basic four-step VSA process, including feed 

pressurisation (FP), adsorption (AD), blowdown (BD), and evacuation (EV). ........ 195 

Figure 6-3 The scheme and step sequences of (a) the first VSA unit and (b) the second 

VSA unit. ................................................................................................................ 209 

Figure 6-4 Evaluation of CO2 recovery and purity with the P/F ratio for the first stage 

VSA unit at 298 K and the desorption pressure of 11 kPa. .................................... 213 

Figure 6-5 Evolution of specific energy consumption and bed productivity with the P/F 

ratio for the first VSA unit at a desorption pressure of 11 kPa and 298 K............... 213 

Figure 6-6 The effect of desorption pressure on CO2 recovery and CO2 purity, with the 

P/F ratio being 0.5 at 298K during the first VSA unit. ............................................. 215 

Figure 6-7 The effect of desorption pressure on specific energy consumption with the 

P/F ratio being 0.5 at 298K during the first VSA unit. ............................................. 215 



xvi 
 

Figure 6-8 The effect of desorption pressure on both CO2 recovery and CO2 purity, 

with P/F ratio being 0.5 at 298K during the second VSA unit. ................................ 216 

Figure 6-9 The effect of desorption pressure on specific energy consumption with the 

P/F ratio being 0.5 at 298K during the second VSA unit. ....................................... 217 

Figure 6-10 The effect of adsorption temperature on CO2 recovery, CO2 purity, and 

productivity with the P/F ratio of 0.5 and desorption pressure of 0.11 bar during the 

first VSA unit. ......................................................................................................... 219 

Figure 6-11 The effect of adsorption temperature on specific energy consumptions 

with a P/F ratio of 0.5 and desorption pressure of 0.11 bar during the first VSA unit.

 ............................................................................................................................... 219 

Figure 6-12 The effect of adsorption temperature on CO2 recovery, CO2 purity, and 

productivity with a desorption pressure of 0.129 bar during the second VSA unit. . 220 

Figure 6-13 The effect of adsorption temperature on specific energy consumptions 

with a desorption pressure of 0.129 bar during the second VSA unit. .................... 220 

Figure 6-14 Comparing CO2 and N2 isotherms on MFI and zeolite 13X at 298K within 

the 0-1 bar pressure range. .................................................................................... 222 



xvii 
 

List of Tables  

Table 2-1 Comparison of three carbon capture processes. ...................................... 18 

Table 2-2 Classification of pores on ACs and their sizes [99]. ................................. 29 

Table 2-3 The classification of zeolites in terms of the pore type and free diameters 

with samples [125, 126]. ........................................................................................... 32 

Table 2-4 The crystal density of cation-exchanged zeolite A [131]. ......................... 33 

Table 4-1 Summary of past research on designing an IGCC integrated with sour shift 

for carbon capture. ................................................................................................. 105 

Table 4-2 Summary of past research on designing an IGCC with sweet shift for carbon 

capture. .................................................................................................................. 107 

Table 4-3 The temperature, pressure, molar flowrate, and mole fraction of each stream 

obtained from the simulation in sour case. ............................................................. 112 

Table 4-4 Details of the raw syngas flowing into the shift reactor before shift steam 

addition in both sour and sweet shift cases were obtained from the simulation. .... 115 

Table 4-5 Plant performances of decarbonised IGCCs and their comparison with the 

reference studies. ................................................................................................... 117 

Table 4-6 Plant performances of decarbonised IGCCs based on the sour and sweet 

shift in this study. .................................................................................................... 119 

Table 4-7 The temperature, pressure, molar flowrate, and mole fraction of each stream 

obtained from the simulation in sweet case. ........................................................... 124 

Table 4-8 Size of the shift reactors estimated by the reaction rate models at the 

condition of 99% approach to the equilibrium CO conversion. ............................... 133 

Table 5-1 The adsorption of CO2 and N2 on materials that follow the Toth model 

(Equation 2-10). ..................................................................................................... 149 



xviii 
 

Table 5-2 The adsorption of CO2 and N2 on materials that follow the Dual-site 

Langmuir- Freundlich (DSLF) model (Equation 2-12)............................................. 149 

Table 5-3 The adsorption of CO2 and N2 on materials that follow the DSL model 

(Equation 2-8). ....................................................................................................... 150 

Table 5-4 The BET surface area, micropore volume, and ultra-micropore volume of N-

doped carbons, ACs, and biochar [14, 16, 17]. ...................................................... 152 

Table 5-5 The BET surface area and pore volume of MOF-505 and MOF-505@GO 

[27]. ........................................................................................................................ 159 

Table 5-6 The BET surface area and pore volume of ZIF-8 and modified ZIF-8 (ED-

ZIF-8) [25]. ............................................................................................................. 160 

Table 5-7 Recoveries of N2 and CO2 of the five-step VSA process packed with different 

adsorbent materials with three desorption pressure, 0.8 kPa, 1.5 kPa, and 3 kPa. 165 

Table 6-1 Boundary conditions of each step for the two-stage VSA process. ........ 191 

Table 6-2 The isotherm parameters of the MFI [8] and activated carbon [9]. The 

adsorption of CO2 and N2 on both MFI and activated carbon follows the Dual-site 

Langmuir (DSL) model. .......................................................................................... 194 

Table 6-3 Summary of the previous study on CO2 separation from the flue gas with 

two-stage configurations. ....................................................................................... 197 

Table 6-4 Summary of the previous study on CO2 separation from the flue gas with 

single-stage configurations. .................................................................................... 199 

Table 6-5 Working capacities of CO2 and N2 on MFI and activated carbon (AC) during 

the 1st stage. ........................................................................................................... 210 

Table 6-6 Working capacities of CO2 and N2 on MFI and activated carbon (AC) during 

the 2nd stage. .......................................................................................................... 210 

Table 6-7 Parameters used in VSA simulations. .................................................... 212 

Table 6-8 The inlet and outlet CO2 amount during the first stage. .......................... 218 



xix 
 

Table 6-9 The inlet and outlet CO2 amount during the second stage. .................... 218 

Table 6-10 The process performances for the two-stage MFI-AC VSA process. ... 221 

Table 6-11 The process performances for the two-stage zeolite 13X-AC VSA process

 ............................................................................................................................... 222 



xx 
 

List of publications during Ph.D. study 

Zhang, Yixuan, and Hyungwoong Ahn. The implications of choice between sour and 

sweet shift on process design and operation of an IGCC power plant integrated with a 

dual-stage selexol unit. Energy 173 (2019): 1273-1284. 

Ahn, Hyungwoong, and Yixuan Zhang. Performance Evaluation and Comparison of 

Conventional and Emerging Adsorbents in Their Applications to a CO2 Capture 

Vacuum Pressure Swing Adsorption (VPSA) Process. In 2022 AIChE Annual Meeting. 

2022. 

Ready for publishing: Evaluation and comparison of conventional and emerging 

adsorbents in their applications to a CO2 capture vacuum pressure swing (VPSA) 

process.



xxi 
 

List of Nomenclatural   

𝐴  Cross-sectional area of the adsorption column  

𝑏0,𝑖 Adsorption constant for each component at the infinite temperature (𝑖 =
𝐶𝑂2 and 𝑁2) 

𝑏𝑖  The Langmuir-type isotherm parameters for each component  

  (𝑖 =𝐶𝑂2 and 𝑁2) 

𝑐𝑖   Component concentration (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑐𝑡  Total concentration 

𝐶𝑝𝑎  Specific heat capacity of the adsorbed phase 

𝐶𝑝𝑔   Specific heat capacity of gas phase 

𝐶𝑝𝑠   Specific heat capacity of solid phase 

𝐶𝑝𝑤  Specific heat capacity of the column wall 

𝑑𝑖  Langmuir-type isotherm parameters (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑑𝑝  Adsorbent particle diameter 

𝐷𝑒,𝑖  Effective macropore diffusivity 

𝐷𝑘,𝑖  Knudsen diffusion 

𝐷𝑚  Molecular diffusivity 

𝐷𝑧  The axial mass dispersion coefficient 

𝐹   Molar flowrate 

ℎ𝑖𝑛  Inside heat transfer coefficient 

ℎ𝑜𝑢𝑡  Outside heat transfer coefficient 

ℎ𝑤  Overall heat transfer coefficient 

𝐻𝑎𝑑𝑠,𝑖  The heat of adsorption (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑘   Boltzmann constant 

𝑘𝐹  Equation constant in Freundlich isotherm 

𝑘𝑤  Thermal conductivity of column wall 

𝑘𝑧  The axial thermal dispersion coefficient 



xxii 
 

𝑘𝐿𝐷𝐹,𝑖  Linear driving force model constant (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝐿  Length of adsorption column 

𝑚𝑖  Equation constant in Sips isotherm model 

𝑀𝑖  Molecular weight (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑛𝑖  The heterogeneity of adsorption in Freundlich and Toth isotherm 

𝑛1,𝑖, 𝑛2,𝑖 Equation constants in dual-site Langmuir-Freundlich isotherm  

𝑛𝑐, 𝑛𝑣  The isentropic efficiency of the compressor and vacuum pump 

𝑁𝐹𝐼  The number of moles that enter the column during the adsorption step 

𝑁𝐹𝑂  The number of moles that leave the column during the adsorption step 

𝑁𝑅𝐼  The number of moles that enter the column during the rinse step 

𝑁𝑅𝑂  The number of moles that leave the column during the rinse step 

𝑁𝐵𝑂  The number of moles that leave the column during the blowdown step 

𝑁𝐿𝐹  The number of moles that enter the column during the purge step 

𝑁𝐿𝐼 The number of moles that leave the column during the light product 
pressurisation step 

𝑃  Pressure 

P/F  The molar flowrate ratio of purge gas to feed gas  

𝑃𝐻   Adsorption pressure 

𝑃𝐻  Intermediate pressure 

𝑃𝐿  Desorption pressure 

𝑃𝑢𝐶𝑂2
  Purity of CO2 product 

𝑃𝑟𝐶𝑂2
  Productivity  

𝑞𝑖   The adsorbed amount (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑞𝑚,𝑖  Maximum adsorbed capacity (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑞𝑚𝑏,𝑖, 𝑞𝑚𝑑,𝑖  Maximum adsorbed capacity in dual-site Langmuir isotherm   

  (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑞𝑒𝑞,𝑖   Equilibrium adsorbed amount of each component (𝑖 = 𝐶𝑂2 and 𝑁2) 



xxiii 
 

∆𝑞𝑖  Working capacity of the adsorbent 

𝑞𝑎𝑑𝑠,𝑖, 𝑞𝑑𝑒𝑠,𝑖 The adsorbed amount under adsorption and desorption condition 

𝑄𝑓 Feed flowrate 

𝑟𝑝 Radius of adsorbent particle 

𝑅  Ideal gas constant  

𝑅𝑖𝑛  The inner radius of the adsorption column 

𝑅𝑜𝑢𝑡  The outer radius of the adsorption column  

𝑅𝑒𝑖  Recovery (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑡𝐴𝐷  Adsorption duration 

𝑡𝐵𝐷  Blowdown duration 

𝑡𝐷𝑃𝐸  Pressure equalisation (depressurised) duration 

𝑡𝐸𝑉  Evacuation duration 

𝑡𝑃𝑃𝐸  Pressure equalisation (pressurised) duration 

𝑡𝑃𝑈  Purge duration 

𝑡𝑃𝑅  Pressurisation duration 

𝑇  Temperature 

𝑇𝑎  Ambient temperature 

𝑇𝑓  Flue gas temperature 

𝑇𝑟  Rinse gas temperature 

𝑇𝑝  Purge gas temperature 

𝑇𝑤  Column wall temperature 

𝑢  Interstitial velocity 

𝑢𝑓  Feed velocity during the adsorption step 

𝑢𝑟  Feed velocity during the rinse step 

𝑢𝑝  Feed velocity during the purge step 

𝑢𝑆𝐻  Shock velocity  



xxiv 
 

𝑊blower Power consumption of the compressors 

𝑊vacuum Power consumption of the vacuum pumps 

𝑦𝑖  Mole fraction of each component (𝑖 = 𝐶𝑂2 and 𝑁2) 

𝑦𝑓  Mole fraction of 𝐶𝑂2 in the flue gas  

𝑦𝑟  Mole fraction of 𝐶𝑂2 in the rinse gas 

𝑦𝑝  Mole fraction of 𝐶𝑂2 in purge gas  

𝑦𝑃𝐸   Mole fraction of 𝐶𝑂2 in PE gas 

 

List of Abbreviations  

AD  Adsorption 

BD  Blowdown 

CoD  Co-current depressurisation 

CnD  Count-current depressurisation 

DPE  Pressure equalisation (depressurised) 

EV  Evacuation 

FP  Feed pressurisation 

HR  Heavy rinse 

HPP  Heavy product pressurisation  

LPP  Light product pressurisation 

PE  Pressure equalisation 

PU  Purge  

PP  Product purge 

PPE  Pressure equalisation (pressurised)  

 

Greek letters 

𝛼  Rate constant during pressure-change steps 



xxv 
 

𝛽𝐶𝑂2
  is defined as 

1

1+
1−𝜀

𝜀
𝑓𝐶𝑂2

′ 𝜌𝑝
 

𝛽𝑁2
  is defined as 

1

1+
1−𝜀

𝜀
𝜌𝑝𝑞𝑁2𝑅𝑇

 

𝛽  is defined as 
𝛽𝐶𝑂2

𝛽𝑁2

 

𝛾  Ratio of specific heats 

𝜖  Lennard-Jones force constant 

𝜀   Bed void fraction 

𝜀𝑝  Porosity of adsorbent particle 

𝜃𝐶𝑂2  is defined as 
1

1+
1−𝜀

𝜀

𝑓𝐶𝑂2,2−𝑓𝐶𝑂2,1
𝑦𝐶𝑂2,2−𝑦𝐶𝑂2,1

𝜌𝑝𝑅𝑇

𝑃

 

𝜃𝑁2
  is defined as 

1

1+
1−𝜀

𝜀
𝑘𝑁2𝜌𝑃𝑅𝑇

 

𝜃  is defined as 
𝜃𝐶𝑂2

𝜃𝑁2

 

𝜇  Viscosity of gas mixture   

𝜇𝑚  Mean pore radius 

𝜌𝑔  Gas density 

𝜌𝑠  Solid density  

𝜌𝑤  Column wall density 

𝜎  Collision diameter from the Lennard-Jones potential  

 



1 
 

Chapter 1 Introduction 

 

1.1 Background and Motivation  

Burning fossil fuels meets most of today's energy demand [1]. Meanwhile, massive 

amounts of greenhouse gases (GHGs) have been emitted, including carbon dioxide 

(CO2), methane (CH4), nitrous oxide (N2O), water vapour (H2O), and 

chlorofluorocarbons (CFCs). These GHGs significantly raise the global temperature 

by absorbing the radiant energy within the thermal infrared range and emitting it to the 

earth’s surface, thus leading to global warming [2]. The increasing global CO2 

concentration results in negative impacts on the environment, such as rises in sea 

level [3], drought [4], extreme rainfall [5], hurricanes, and tropical storms [6], which 

threaten the activity and survival of marine life and humans. However, as part of the 

heat is absorbed by CO2 and water vapour, the energy is re-emitted as infrared, 

making the Earth a suitable place to live when CO2 concentrations are appropriate [7]. 

The Earth's mean surface temperature is estimated to drop to approximately -21ºC 

without the greenhouse effect [7]. CO2, CH4, and N2O account for approximately 98% 

of total global GHG emissions, and their levels are expected to rise as the world 

population grows. The concentration of GHGs, especially CO2 and CH4, varies slowly 

over geological time scales in nature but also rapidly due to human activities such as 

deforestation, the use of fossil fuels, and gasoline-dependent transportation [8]. 

Between 1750 and 2009, the CO2 and CH4 content in the atmosphere increased by 

around 38% and 148%, respectively [9].  

It was recorded that the global temperature increased by 4-7ºC over 5,000 years as 

the Earth emerged from the Ice Age over the past million years. After the industrial 

revolution, the global mean temperature increased by around 0.76ºC [10]. During the 

20th century, the Earth’s temperature rose by 0.5ºC, and the sea level increased by 15 

cm [11]. It was predicted that the average surface temperature could increase by 2-

6ºC by the end of the 21st century as more fossil fuels are consumed.  warming for the 

next century is exceptionally rapid, at least 20 times faster than past warming over 

past two million years[9].  
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CO2 is one of the most essential GHGs, and its concentration has increased in the 

atmosphere by 30% since 1950 [2]. Since the start of the industrial revolution, global 

energy-related CO2 emissions have reached their highest average annual 

concentration. Despite a 5.8% fall in CO2 emissions in 2020, being the most significant 

reduction, its concentration in the atmosphere still remained over five times higher 

than in 2009 [12]. The tropical rain forests, which provide over a third of terrestrial 

carbon stocks, play a critical role in CO2 emission and sinking cycle [13]. However, 

their overcutting disrupts this cycle, [13, 14], thus, increasing CO2 concentration.  

CH4, the second most abundant greenhouse gas on Earth, plays a much more critical 

role in global warming than CO2. Its concentration is approximately 2.5 times higher 

than the preindustrial level in the atmosphere [15]. Landfilling, composting, and 

wastewater treatment processes, as well as livestock and other agricultural practices, 

are the primary sources of emitting CH4 [16]. Despite accounting for approximately 14% 

of total GHG emissions globally, CH4 possesses a global warming potential 28 times 

greater than that of CO2 over a 100-year period, and it is a staggering around 80 times 

more potent over 20 years [17], with a concentration increasing rate of 0.2-1% in the 

atmosphere per year [18]. It was estimated by the IEA [15] that CH4 emissions from 

the global energy sector were around 130.7 and 135.2 million metric tonnes in 2020 

and 2021, respectively. The economic recovery from the COVID-19 pandemic leads 

to higher fossil fuel demand and production. Around 40% of total methane emissions 

are driven by human activities, followed by agriculture. According to the IEA, bioenergy 

accounted for 9.1 million metric tons of the 135.2 million metric tons of CH4 emissions 

in 2021, while coal, natural gas, and oil accounted for 43.6, 39.6, and 42.9 million 

metric tonnes, respectively. Methane contributes to global warming directly and 

indirectly, as it leaves the atmosphere in the form of CO2 and water vapor via oxidation. 

It also reduces the air quality as it favours ozone formation, leading to health issues, 

reduction in crop yields, and premature deaths in humans. 

N2O is the third-most-important greenhouse gas, accounting for 8% of GHG emissions 

worldwide, which shows around 298 times stronger global warming potential over CO2 

during a 100-year time frame, even though it has a much lower concentration in the 

atmosphere (only 332 ppb in 2018) [18, 19]. In terrestrial and aquatic ecosystems, the 

production of N2O is controlled by nitrification and denitrification processes and 
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modified by multiple factors (such as temperature, water content, oxygen level, and 

pH values) [20]. The usage of fertilizer and handling of animal wastes are mainly 

responsible for N2O emissions anthropogenically, of which the source is not easily 

quantified and controlled [21]. N2O is stable in the troposphere but undergoes 

decomposition into nitrogen and oxygen molecules by the sun’s irradiation in the 

stratosphere. The remaining N2O, on the other hand, can survive for hundreds of years 

and react with oxygen to produce nitric oxide (NO), causing ozone depletion and 

threatening human and ecosystem health [22]. Since 1990, estimated N2O emissions 

have increased to 12.7 tg N/year and are predicted to reach to 25.7 tg N/year by 2100 

if current emission trends continue. The increasing trend in N2O emission has caused 

the mean temperature of the Earth’s surface to increase by 0.37 ºC [23]. 

The most abundant gas, then, is water vapour, which contributes two-thirds of global 

warming in an indirect way [2]. The warmer the climate changed, the more the water 

vapour increased in the atmosphere, enhancing the possibility of cloud formation. 

Clouds play a dual role in influencing Earth’s temperature: they can absorb and emit 

energy in the infrared region, meanwhile also reflecting solar radiation back into space, 

which helps cool the Earth [2]. However, due to the low temperature of the high, cold 

clouds, the energy absorbed from the lower atmosphere with the same surface 

temperature as the Earth, is emitted back at a lower rate. Consequently, the Earth's 

surface temperature increases with a reduced cooling ability [8].  

The Earth's surface temperature has increased since the industrial revolution, and it 

will keep rising with the burning of fossil fuels for human activities. Since 1880, the 

global temperature has increased by 0.8ºC compared to the beginning of the 20th 

century, based on the Goddard Institute for Space Studies (GISS) analysis [24]. The 

Paris Agreement was introduced during the 21st Conference of Parties (COP21) by 

the United Nations Framework Convention on Climate Change (UNFCCC), in which 

197 nations' leaders agreed to limit the increase in global temperature to less than 2ºC 

above pre-industrial levels [25, 26]. In 2021, the Paris Rulebook was finalised at 

COP26 in Glasgow, with a renewed focus on reducing GHG emissions and limiting 

global temperatures to below 1.5°C by 2030. Also, the Global Methane Pledge was 

launched at COP26 and embraced by over 110 countries, concentrating on at least 

30% reduction of global methane emissions from human activities by 2030 compared 
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to 2020 [15]. Furthermore, 153 countries have developed or updated their emission 

targets, known as Nationally Determined Contributions (NDCs), covering 80% of GHG 

emissions worldwide. The United Nations predicts that approximately 5 billion metric 

tonnes of GHG emissions will be reduced by 2030 [27].  

Four main targets were set at COP26. Firstly, the participated countries agreed to 

accelerate the phase-out of coal and the transition to electric vehicles, pause and 

reverse deforestation, and promoting renewable energy sources to achieve global net 

zero carbon emissions by the middle of the century and limit global temperature rise 

to 1.5°C. To meet this requirement, Welsby and co-workers [28] applied the global 

energy systems model to assess the amount of fossil fuels that must remain in the 

ground. They concluded that 89% of coal, 58% of oil, and 56% of fossil methane gas 

must remain untapped by 2050. Additionally, the global GHG emissions must be 

reduced by 45% by 2030 compared to 2010. However, implementing all the pledges 

made at COP26 is still predicted to make the temperature rise of 2.4°C by 2100, higher 

than the target in the Paris Agreement, resulting in catastrophic effects [29].  

Secondly, the countries are encouraged to protect and restore ecosystems, which 

includes constructing defences, warning systems, flexible infrastructure, and 

agriculture to protect communities and natural habitats. As anthropogenic activities 

have increased, natural disasters such as storms, floods, and wildfires have become 

much more common. Over the past 50 years, the frequency of natural disasters has 

increased five times with rapid climate change [30]. Because of ocean acidification, 

marine species are disappearing at twice the rate of those on land, and 14% of coral 

species are now extinct [31].  

Thirdly, COP26 urged countries to increase their investment in research, development, 

and promotion of green technologies. The Glasgow Agreement suggested that the 

developed countries to mobilise at least $100 billion annually for climate finance. 

However, according to the UN's financial count (2020), current investment in green 

technologies is far below the target, with developing countries trailing by approximately 

20 billion USD [31].  

Finally, global collaboration among governments, the public and private sectors, and 

financial institutions are critical to meeting the target set at COP26 in Glasgow.  
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Decarbonising power generation is essential to achieve net-zero emissions, 

commonly accomplished using renewable energy sources such as wind, solar, 

geothermal, and hydroelectric energy. Iceland relies on geothermal and hydropower 

to supply 100% of its electricity. Other countries, including Norway, Costa Rica, Brazil, 

and Canada, have already achieved high fractions of renewable energy for electricity 

generation based on hydropower [32].  

China, the world’s largest renewable energy market, generates an additional 136 GW 

in 2020, with wind accounting for 72 GW and solar accounting for 49 GW. Following 

by the United States, 29 GW of renewables were installed in 2020, representing an 

80% increase over 2019 [33]. Apart from the utilisation of renewable energy, there are 

two other options for reducing total emissions of CO2 into the atmosphere. The first is 

the reduction of energy intensity, which requires efficient energy utilisation. The 

second is the enhancement of CO2 sequestration, which depends on carbon capture 

and storage technologies. However, non-fossil fuel energy sources, such as hydrogen 

and renewable energy, cannot meet the energy requirements generated by fossil fuels 

at the current state of development. Moreover, a rapid shift to non-fossil energy 

sources may significantly disrupt the existing energy supply infrastructure, thus 

affecting the global economy [34].  

In order to effectively achieve the objectives outlined by the Paris Agreement, a crucial 

imperative is the reduction of CO2 emissions released into the atmosphere. Among 

the principal drivers of global warming, the combustion of fossil fuels emerges as a 

predominant factor. Notably, coal, as the most carbon-intensive contributor within the 

scope of fossil fuels, accounts to slightly surpassing one-third of the total global 

electricity production [35]. Therefore, transition of conventional coal-fired plants 

towards utilising cleaner energy sources becomes critical [36]. Given their current role 

as the predominant electricity generation method, considerable attention is also 

directed towards coal-fired plants featuring adsorption-based CO2 capture unit. In this 

context, the plant performance is profoundly influenced by the properties of adsorbents 

employed. This thesis undertakes a systematic comparative analysis between 

conventional and novel porous adsorbents, employing a specific pressure swing 

adsorption (PSA) process. The ultimate goal is to establish guidelines for selecting the 

most suitable adsorbent for the separation of CO2 from the flue gas. 
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Concurrently, an especially promising alternative is the integrated gasification 

combined cycle (IGCC) process, which offers a more efficient and environmentally 

conscious manner to produce the cleaned gas (syngas), primarily composed of carbon 

monoxide and hydrogen. Consequently, this thesis also aims to provide a deeper 

understanding of how different configurations of the IGCC process impact the energy 

penalty of the power plant when incorporating CO2 capture unit.  

 

1.2 Structure 

The layout of this thesis is listed below:  

Chapter 1 briefly introduces the background and motivation of this thesis.  

Chapter 2 is the literature review, divided into three parts. The first part discusses 

carbon capture and storage (CCS), the primary technology for reducing CO2 

emissions to the atmosphere. This encompasses processes for capturing CO2 from 

large point sources, as well as its transportation and storage. Depending on the point 

source type, the leading CCS technologies for capturing CO2 are pre-combustion, 

post-combustion, and oxy-fuel combustion. The CO2 separation methods including 

absorption, adsorption, membranes, cryogenic distillation, gas hydrates, and chemical 

looping, are heavily affected by flue gas discharge conditions such as composition, 

temperature, flowrate, and CO2 partial pressure. The second part of this chapter 

mainly focuses on the adsorption-based separation from the post-combustion flue gas. 

Different types of adsorbents, including physical adsorbents (e.g., zeolites, carbons, 

and MOFs) and chemical adsorbents, are introduced. Finally, a basic two-bed four-

step PSA process, the Skarstrom cycle, originally developed for binary gas separation 

is presented with several modifications to improve its performances, including co-

current depressurisation, heavy rinse, and pressure equalisation steps.  

Chapter 3 presents the detailed description of an equilibrium theory model and a full 

set of mathematical model equations of a P/VSA process. The equilibrium theory 

model provides a simplified way to estimate the CO2 recovery in a specific P/VSA 

process, considering only the mass transfer between the gas and adsorbent solid. This 

is an ideal model to predict the upper thermodynamic limit on the separation of the 
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binary gas mixture. The full set of mathematical equations in the model includes the 

component and overall mass balance, momentum balance, and energy balance. This 

model predicts the performances of cyclic P/VSA processes accurately.  

Chapter 4, 5, and 6 are the main body of this thesis. Chapter 4 concentrates on the 

pre-combustion process, while Chapters 5 and 6 are related to the post-combustion 

process. In Chapter 4, two process configurations of an IGCC plant integrated with a 

dual-stage Selexol unit are designed and evaluated, one based on the sour shift and 

the other on the sweet shift. The net plant efficiency is estimated, and the size of 

WGSRs is calculated by the model reported in the literature. Chapter 5 conducts a 

comprehensive study to evaluate various conventional and emerging porous materials 

for their application in a five-step VSA process for CO2 capture from a simulated flue 

gas consisted of 15% CO2 and 85% N2. Chapter 6 further investigates the combined 

effects of adsorbents and the P/VSA process, using one of the materials presented in 

Chapter 5, MFI, equipped with a VSA process to separate CO2 from dry flue gas to 

meet the requirement of 90%-90% CO2 recovery-purity.  

Chapter 7 is a summary of the current work, followed by the perspective drawn from 

this thesis.  
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Chapter 2 Literature review 

 

2.1 Carbon capture technologies 

2.1.1Carbon capture and storage (CCS) 

Carbon capture and storage (CCS) is a promising technology to mitigate CO2 

emissions that involves three steps: capture, transport, and storage. CO2 is captured 

from large point sources such as biomass power plants, coal- and natural gas-fired 

power plants. Then the captured CO2 is compressed and transported through 

pipelines to the site, finally injected into a deep underground geological formation for 

storage. It is reported that the CO2 concentration would be reduced to 450 ppm by 

2100 if the implementation of CCS processes is successful [1].  

In 1977, Marchetti [2] introduced the concept of CCS and proposed a ‘fuel cycle’ to 

control the CO2 concentration into the atmosphere. He suggested that the CO2 is 

collected at specific transformation points and injected into the deep ocean where 

appropriate sinking thermohaline currents exist. The International Energy Agency also 

indicates that 17% of global CO2 emissions will be reduced by 2050 through CCS 

technology [1]. In the past few years, several CCS projects have been developed in 

different countries, such as Sleipner [3], In-Salah [4], CO2CRC [5], and CO2SIKN [6]. 

CO2 storage in the Sleipner gas field in the North Sea began in 1996 as the pioneer 

CCS project, with approximately 8 million metric tonnes of CO2 produced from natural 

gas injected into a saltwater-contained sand layer at a depth of 1 km from sea bottom 

[3]. The In-Salah Gas Project in Algeria is the world’s first industrial-scale CO2 storage 

site [4]. Since 2004, nearly 0.5-1 million metric tonnes of CO2 produced from natural 

gas per year have been injected into water-filled layers under 1.8-1.9 km. The 

Cooperative Research Centre for Greenhouse Technologies (CO2CRC) Otway 

Project, which exhibited the transportation, injection, storage, and monitoring of CO2 

in a depleted gas field, was the first of its type in Australia [5]. 65,445 metric tonnes of 

a gas mixture of CO2 and CH4 were injected into the water leg of a depleted natural 

gas reservoir at a depth of 2 km within 17 months (from March 18th, 2008, until August 

29th, 2009) [7, 8]. Starting in 2008, the CO2SINK experiment project operated by Shell 
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has been studied, established, and demonstrated in Ketzin, Germany, where up to 60 

kt of CO2 have been injected into a deep onshore saline aquifer [6].  

Although CCS is one of the most promising technologies for reducing CO2 emissions, 

it has the drawbacks of high upfront investment and operation costs with a significant 

energy penalty. Due to the insufficient storage capacity, many countries, such as the 

United Kingdom, China, Norway, South Africa, Brazil, India, and most countries in 

South-East Asia, are facing the challenge of providing long-term permanent geological 

storage, resulting in high transport and storage costs [9].  

 

2.1.2 Carbon Capture and Utilisation (CCU) 

In light of CCS’s limitations, carbon capture and utilisation (CCU) considers a partial 

alternative to CCS to divert CO2 from the transport and storage routes, which can 

convert CO2 into valuable substances or products, such as chemicals and synthetic 

liquid hydrocarbon fuels [9, 10]. Figure 2-1 shows a visual comparison between the 

CCS and CCU, showcasing their distinct approaches to carbon management.  

An optimal way for CO2 utilisation is to use the captured CO2 as the feedstock to 

produce fuels such as methane, methanol, and syngas. The produced fuels can be 

used in the application of fuel cells, power plants, and transportation [11] and are 

mainly produced via the hydrogenation process and the dry reforming of methane 

(DRM) process [12].  

Apart from fuel production, the captured CO2, as a precursor for organic compounds, 

reacts with the organic substances to form fine chemicals such as urea, polyurethane, 

acrylic acid, carboxylic acids, carbonates, or carbamates [13]. For example, due to the 

high nitrogen content and low transportation costs, urea is one of the significant 

applications of nitrogen-release fertilizers synthesised via the Bosch-Meiser process 

[14]. Carboxylic acids are widely used in the food, chemical, and pharmaceutical 

industries, such as in the production of detergents, pharmaceuticals, and antibacterials, 

and other advanced applications, including in the production of biopolymers and drug 

administration [15]. Most carboxylic acids are produced on an industrial scale via the 
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conventional Kolbe-Schmitt carboxylation reaction, a standard commercial method to 

prepare aromatic acids [16].  

 

 

Figure 2-1 Different operations of CCS and CCU modified from [10]. 

 

As the CCU converts CO2 into valuable products rather than sequestering it 

permanently, the captured CO2 can be seen as a renewable resource to replace 

traditional petrochemical fuels. However, the inherent thermodynamically stability of 

CO2 poses challenges for its efficient conversion and utilisation in chemical reactions 

[12].  

The U.S. Department of Energy (DOE) categorises the CCU as a subdivision of CCS 

by and is investigated as Carbon Capture, Utilisation, and Storage (CCUS) [17]. 

Although the combination of CCS and CCU can potentially produce a beneficial 

partnership, gaps between these technologies remain debatable, making commercial 

CO2 capture deploy at a slower speed [18]. 
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2.1.3 Carbon capture processes 

During combustion, CO2 is produced and can be captured via an adequate CO2 

separation process. However, the commercially available CO2 capture technologies 

contribute to 70-80% of the total cost of CCS process, encompassing capture, 

transportation, and storage. Hence, reducing the operating costs and energy penalty 

of CCS has to be focused on [1]. Generally, three prominent technologies (Figure 2-2) 

are available for capturing CO2 from point sources, including pre-combustion, post-

combustion, and oxy-fuelling, which are separately discussed below. 

 

Figure 2-2 The overview of three CO2 capture processes modified from Kanniche et al. [19] 

 

2.1.3.1 Pre-combustion technology 

In pre-combustion technology, capturing CO2 as an undesired co-product from the fuel 

(coal or natural gas) before combustion [10] involves the reaction between the fuel 

and air or oxygen. Depending on the type of fuel, the fossil fuels undergo the 
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processes of either coal gasification (Equation 2-1) or natural gas reforming (Equation 

2-2) to form the syngas that contains both CO and H2. Subsequently, the syngas is 

converted to CO2 via the water-gas shift (WGS) reaction (Equation 2-3) in a catalytic 

reactor by adding steam. The high-pressure outlet gas, which contains 15%-60% CO2 

under dry conditions from the WGS reactor operating between 2 and 7 MPa, is 

beneficial for CO2 removal because it requires less energy for CO2 separation and 

compression processes than post-combustion techniques [20]. The CO2 is separated 

from the H2 typically via a physical solvent such as Selexol, Rectisol, or Purisol [21-

24]. At the same time, the H2-enriched product can be used not only for heat and 

power generation but also as a potential transport fuel.  

 𝑐𝑜𝑎𝑙 → 𝐻2 + 𝐶𝑂  (2-1) 

 𝐻2𝑂 + 𝐶𝐻4 → 𝐻2 + 𝐶𝑂 (2-2) 

 𝐻2𝑂 + 𝐶𝑂 → 𝐻2 + 𝐶𝑂2 (2-3) 

The pre-combustion process can not only produce CO2-free fuel but also produce CO2 

under high pressure, thereby reducing the power consumption in transportation and 

storage. Pre-combustion is recommended in gasification plants, typically combined 

with either natural gas gasification combined cycle (NGCC) or integrated gasification 

combined cycle (IGCC) [25, 26].  

The NGCC process mainly focuses on reducing energy loss and investment costs 

related to H2 fuel gas production. This is accomplished by combining the reforming 

and/or WGS reactions with the CO2 removal unit in a single process step, resulting in 

the reaction shift towards producing more hydrogen. Likewise, the IGCC power plant 

reduces the energy losses in the WGS unit by either reducing steam consumption in 

the WGS reaction or integrating the WGS process with the CO2 removal unit in one 

step [20]. It has been reported that the energy penalty for a natural gas-based power 

plant is around 10%, while it is 17% for a coal-based power plant [27].  
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2.1.3.2 Post-combustion technology 

Post-combustion capture refers to capturing CO2 from the flue gas after a combustion 

process. This method is suitable to capture the low CO2 concentration gas (4-14% v/v), 

making it a feasible option for the existing coal-fired power plants and other industrial 

emission points [28]. Furthermore, the ability to extract highly pure CO2 makes it a 

powerful technology for improving oil recovery, urea production, and food industries 

[1].  

Post-combustion capture of CO2 can be conducted via physical/chemical adsorption 

or absorption processes [29]. Among these, the amine-based absorption process has 

gained considerable attention as it is the most mature and effective CCS technology 

for CO2 capture from coal- or natural gas-fired power plants. Monoethanolamide (MEA) 

is a primary amine and the most commonly used to capture CO2 from coal-fired power 

plants or other industrial emissions [30]. However, some secondary and tertiary 

amines show a higher CO2 adsorption capacity and a lower energy requirement for 

solvent regeneration than primary amines. Despite this advantage, MEA, as a primary 

amine, shows a faster reaction rate than secondary and tertiary amines with excellent 

reactivity [30-33].  

One advantage of the post-combustion capture is its ease of installation as a retrofit 

into existing plants, without necessitating fundamental changes of the plants. Fossil 

fuel-fired power plants integrated with a post-combustion CO2 capture process are  

technologically mature and commercially feasible compared to pre-combustion or 

oxygen-fuel combustion processes[33].  

 

2.1.3.3 Oxy-fuel combustion technology 

Oxy-fuel combustion is a process that uses pure oxygen instead of air to burn the fuel. 

The flue gas mainly contains CO2 and water vapour, which can be separated through 

a simple compression process. However, the use of pure oxygen in oxy-fuel 

combustion leads to relatively high flame temperatures. Some recycled flue gas (CO2 

and water vapour) has to be introduced to the combustion chamber to reduce the 

flame temperature to a level suitable for particular processes.  
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The cryogenic air separation process has been established as a mature technology 

for oxygen separation from air to meet the high oxygen requirement of the combustion 

process. Nonetheless, due to the significant auxiliary power consumption associated 

with oxygen separation and CO2-enriched flue gas purification, the overall net 

efficiency would be reduced by 8-12% with a 21-35% increase in fuel consumption 

[34]. Despite this, the CO2 capture process integrated with oxy-fuel combustion 

technology achieves near-zero emissions and can be fitted to both new and 

conventional pulverised coal-fired power stations [35].   

Due to the moderate energy penalty and low retrofit capital expenditure, atmospheric 

oxy-fuel combustion is considered a competitive technology for CCS. However, there 

are some drawbacks, such as air leakage into the flue gas and low energy efficiency, 

as well as the need for efficient air separation and fuel gas cleaning [36].  

 

2.1.3.4 Comparison among pre-combustion, post-combustion, and oxy-fuel 

combustion 

The following table lists the advantages and disadvantages of the pre-combustion, 

post-combustion, and oxy-glue combustion processes.  

Table 2-1 Comparison of three carbon capture processes. 

Pre-combustion process [37, 38] 

Advantages 

1. It can capture CO2 at high pressure with various fuels, such 

as petroleum, coal, natural gas, and biomass.  

2. The production of carbon-free fuel can be used in a 

combined cycle for power generation or as feedstock to 

synthesise chemicals.  

3. It has the potential to reduce the compression costs. 

Disadvantages 

1. Converting the fuel before its combustion into syngas is 

necessary, complicating the process.   

2. High cost.  

3. High risk. 
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Comparison of three carbon capture processes (continued) 

Post-combustion process [37-44] 

Advantages 

1. It is easily integrated with existing coal-fired power plants 

with little or no modifications to the plant configuration. 

2. It works with retrofitted combustion technologies. 

3. It has a higher thermal efficiency for electricity conversion. 

4. There is no need to shutdown the process for maintenance. 

5. It has the potential to reduce CO2 emissions in the short 

term. 

Disadvantages 

1. Extra energy is required for compressing the CO2 product 

since the CO2 partial pressure and the CO2 concentration in 

the flue gas are low. 

2. The flue gas must be pre-treated as the other secondary 

species affect the CO2 separation, even at a dilute 

concentration. 

3. The availability of suitable adsorbents is limited. 

Oxy-fuel combustion process [35, 37, 45] 

Advantages 

1. Produce the extremely high-purity CO2 stream.  

2. The purification process is much easier than other CO2 

capture technologies if trace contaminants are removed. 

3. Reducing NOx emissions is not only friendly to the 

environment but also decreases the outlet gas velocity, 

reducing the equipment size and capital cost. 

Disadvantages 

1. Separating O2 from air requires enormous electric power, 

leading to a high capital cost. 

2. There are risks and safety concerns with oxygen 

management. 
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2.1.4 CO2 separation technologies 

Based upon the CO2 separation process principles, it can be classified as absorption, 

adsorption, membranes, cryogenic distillation, gas hydrates, and chemical looping, as 

illustrated in Figure 2-3. The specific discharge conditions highly determine the 

selection of a suitable option among all the CO2 capture methods. The first 

consideration concerns the flue gas's composition, temperature, flowrate, and partial 

CO2 pressure. Also, the CO2 purity, transport pressure, and discharge standards need 

to be considered [46].  

 

 

Figure 2-3 The CO2 separation technologies for post-combustion, pre-combustion, and oxy-fuel combustion 

modified from [47]. 

 

2.1.4.1 Absorption 

2.1.4.1.1 Chemical absorption 

Chemical absorption has been seen as the most promising and mature technology for 

CO2 capture in a large-scale process, widely used in commercial production processes 

[48]. In a chemical absorption process, flue gas enters the absorber at the bottom, 

while the chemical solvent is injected from the top of the column. The counter-current 

flow improves the contact between flue gas and solvents, thus increasing absorption 

efficiency and kinetics. After the absorption, the CO2-rich solvent is pumped to a 

regenerator for stripping steam, where the absorption reaction is reversed, and CO2 is 

released from the solvents at a temperature of 121oC [49]. Since the intermediate 

compound of CO2-solvents is formed with weak bonds, the heat brought into the 
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column by the steam is sufficient to break down the intermediate compound and 

regenerate the original solvent [50]. After the regeneration, the CO2-lean solvents are 

cooled down to 40-60oC and mixed with solvent make-up and water make-up before 

re-entering the absorber to maintain a constant flowrate and amine concentration for 

the next CO2 capture cycle [49]. Amine is the most common solvent for chemical 

absorption, preferred for low-CO2 concentration gases due to the high reaction rate 

between amine and CO2 [51].  

The major issues with the absorption technique are the high energy penalty in the 

regeneration process [52], the high solvent corrosion [53], and the environmental 

impact [54]. The solvent regeneration has to be conducted at a temperature ranging 

from of 120-140oC, leading to solvent degradation and evaporation, resulting in 

significant solvent loss and increased operational costs. For example, in a typical 

MEA-based absorption process, the solvent loss is between 0.01 and 0.8 kg/tonne of 

CO2 captured, depending on the operation conditions and installation configurations 

[55]. In addition to energy cost and operational cost, the leakage of organic substances 

leads to environmental pollution, particularly for highly volatile compounds such as 

ammonia, methylamine, formaldehyde, acetaldehyde, ethylamine, diethylamine, N-

nitrosodimethylamine (NDMA), and the medium volatility compounds such as 

formamide, 2-oxazolidine, I-(2-hydroxyethyl)-2-imidazolidinone, oxamide, 2-

(methylamino)ethanol, I-(2-hydroxyethyl)imidazole, 2-(nitroamino)ethanol, N-

nitrosodimethylamine [56].  
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Figure 2-4 Chemical absorption process flow sheet modified from [49]. 

 

2.1.4.1.2 Physical absorption 

The physical absorption process is another primary commercially available technology 

for CO2 capture that is highly efficient and economical, especially for those operating 

under high pressures and low temperatures [51, 57]. In physical absorption, CO2 is 

dissolved in liquid solvents in one step and is not limited to the fixed reaction 

stoichiometry. The physical solvents, such as methanol (Rectisol), DEPG (Selexol), 

N-Methyl-2-Pyrrolidone (Purisol), and propylene carbonate (Fluor Solvent), have 

gained more attention, specifically for coal gasification applications [58].  

The Rectisol process, where methanol is used as the physical solvent, is the earliest 

commercial physical absorption process and has been widely used for removing the 

impurities from CO2 and H2S in the synthesis gas. Although the Rectisol process has 

a more complex configuration than other physical absorption processes such as 

Selexol and Purisol [59], it can remove impurities such as H2S, CO2, and COS 

simultaneously, and has a high absorption ability, a high thermal and chemical stability, 

as well as a high selectivity, especially at low operation temperatures between 20ºC 

and 70ºC [57]. In the physical absorption process, the high-pressure syngas is cooled 

to the desired temperature, and then sent to the absorber, where a high-solubility 
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solvent absorbs the CO2. However, the exothermic reaction of CO2 absorption in a 

physical solvent increases the column temperature, necessitating precise control. 

Depending on the recovery and purity requirements of the CO2 product, the 

regeneration of CO2-rich solvent is implemented in three ways: flashing at reduced 

pressure, distillation, or stripping by either inert gas or syngas [57].  

 

Figure 2-5 The process flowsheet of a Rectisol process modified from [60]. 

 

In contrast to chemical absorption, the solvent in a physical absorption process is 

regenerated by lowering the pressure to release CO2 and remove impurities without 

heating, thus reducing energy requirements. The physical absorption is superior to the 

chemical absorption for feed gases with high CO2 concentrations or impurity contents. 

Additionally, the physical absorption process needs only carbon steel construction due 

to the non-corrosive nature of the physical solvents [51, 58].  
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Figure 2-6 The process flowsheet of a Selexol process modified from [21]. 

 

2.1.4.2 Adsorption 

Adsorption, unlike absorption, occurs on the solids' surface rather than throughout the 

entire material volume. Generally, adsorption takes place physically via the van der 

Waals forces (physisorption),  electrostatic attraction, or chemically through covalent 

bonding (chemisorption) [41]. Adsorbents used in adsorption processes can be  

regenerated via pressure or vacuum swing adsorption (P/VSA), temperature, or 

thermal swing adsorption (TSA) [61]. Among these methods,  pressure swing 

adsorption (PSA) process has been considered a promising option for CO2 separation 

due to its adaptability to a wide range of temperature and pressure conditions, as well 

as its low energy requirements and capital investment costs [62]. The efficiency of 

both P/VSA and TSA processes depends on various factors, including temperature, 

CO2 partial pressure, the interaction between CO2 and the adsorbent, the pore size, 
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and the surface area of the adsorbent [63]. Hence, the development of adsorbents 

with high CO2 selectivity, high adsorption capacity, and high regenerating ability is 

crucial for designing an effective adsorption-based CO2 separation process [61]. 

Several adsorbents, such as activated carbon [64, 65], zeolites [66-68], silica gel [69, 

70], metal-organic frameworks (MOFs) [71], activated alumina [72, 73], urea-

formaldehyde resins [74-76], melamine-formaldehyde resins [76, 77], etc., have been 

intensively investigated and studied.  

 

2.1.4.3 Chemical looping combustion 

Chemical-looping combustion (CLC) is a potential method for CO2 capture in which 

oxygen is transferred from the air to the fuel via a solid oxygen carrier. The 

conventional CLC process comprises two interconnected moving fluidised bed 

reactors: an air reactor and a fuel reactor. These reactors undergoes two sub-

reactions, oxidation and reduction, facilitated by a chemical intermediate [78], as 

shown in Figure 2-7.  

In the fuel reactor, the gaseous fuel is combusted with the oxygen provided by 

reducing the metal oxide, producing CO2 and water vapour. The reduced metal is then 

sent to the air reactor and oxidized again before re-entering the fuel reactor. Hence, 

the circulation of the oxygen carrier is accomplished between two reactors. Recovering 

CO2 through water condensation eliminates the requirement of additional energy for 

CO2 separation. On the other hand, the gas leaves the air reactor containing nitrogen 

and unreacted oxygen, which can be released into the atmosphere directly with the 

minimum adverse environmental impact [79].  

The reactions in CLC can be expressed as follows [79]: 

 (2𝑛 + 𝑚)𝑀𝑦𝑂𝑥 + 𝐶𝑛𝐻2𝑚 → (2𝑛 + 𝑚)𝑀𝑦𝑂𝑥−1 + 𝑚𝐻2𝑂 + 𝑛𝐶𝑂2  (2-4) 

 𝑀𝑦𝑂𝑥−1 +
1

2
𝑂2(𝑎𝑖𝑟) → 𝑀𝑦𝑂𝑥 + (𝑎𝑖𝑟: 𝑁2 + 𝑢𝑛𝑟𝑒𝑎𝑐𝑡𝑒𝑑 𝑂2) (2-5) 

It is found that the total enthalpy released from the combined reduction and oxidation 

steps is the same as the heat of combustion, showing some advantages. To begin, 
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the lack of nitrogen during combustion ensures that CO2 and water vapour are the 

main components of flue gas in the fuel reactor, which can easily obtain pure CO2 by 

condensing the water vapour [78]. Second, NOx formation usually occurs above 

1,200ºC, the potential maximum temperature of CLC [80]. The fuel gas is burned in 

the airless environment of the fuel reactor to reduce the re-oxidisation of the oxygen 

carrier in the air reactor at a relatively low temperature, which diminishes the formation 

of NOx [78, 79].  

The availability of suitable oxygen carriers is a primary factor determining whether CLC 

can be achieved in large-scale industrial processes. The selected oxygen carriers 

should have the properties of high reactivity in both oxidation and reduction reactions, 

high resistance to attrition, high fragmentation, and high stability under repeated 

oxidation and reduction. Additional properties, for example, cheapness and being 

environmentally friendly, are also considered [81, 82]. Other metals such as iron, 

copper, cobalt, manganese, and nickel are good candidates as oxygen carriers [83].  

 

 

Figure 2-7 The schematic of the chemical looping process modified from [84]. 
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2.1.4.4 Membrane separation 

The membrane separation is based on the differences in the diffusivity, solubility, 

absorption, and adsorption abilities of different gases on different materials, which is 

a relatively novel technology in terms of CO2 separation [85]. It is the best separation 

choice for processes that do not require a high-purity product because it is more cost-

effective than other separation options [86]. The membrane separation technology can 

capture not only CO2 [85] but also SO2 [87], H2S [88], and volatile organic compounds 

(VOCs) [89]. Besides, the membrane separation technology has been successfully 

commercialised in various liquid-liquid and gas-liquid applications, such as 

fermentation, wastewater treatment, pharmaceuticals, osmotic distillation, etc. [90] 

Membrane separation technology is flexible since it can be integrated with pre-

combustion or post-combustion. It offers the advantage of low energy requirements, 

as the energy is only required for moving the fluid from one side to the other side of 

the membrane. For some membranes, the fluid is driven by the pressure drop. In 

addition, due to the simplicity of the design, it is easily scaled up by adding a module 

and/or an additional unit. As a result, these compact configurations demonstrate high 

packing density and small installations that meet the low space requirement [91, 92]. 

However, it is essential to note that integrating membranes separation into the post-

combustion processes demands very high selectivity for separating low-concentration 

CO2 from the flue gas [86]. The membrane with low selectivity would pose a major 

challenge in commercialising of such techniques [93].  

 

2.1.4.5 Cryogenic distillation 

The low-temperature CO2 capture technology, or cryogenic carbon capture, separates 

the CO2 in solid or liquid form from fuel or synthesis gases through cooling [94]. 

Typically, the cryogenic process occurs at a temperature below 120 K, such as 

condensation of nitrogen and oxygen, while the process takes place over 120 K, 

referring to conventional refrigeration [95]. In contrast to solvent-based capture 

technologies, low-temperature CO2 capture does not require solvents, which avoids 

the solvent make-up and the emission of the potentially toxic by-products [94]. 
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Moreover, cryogenic separation can produce high-purity products and can be applied 

to a range of CO2 concentrations. However, the cryogenic separation process has 

been less popular due to its high costs, energy-intensive, and potential application 

limitations [95].   

 

2.2 Adsorbents for the post-combustion capture process 

Capturing CO2 from the flue gas by post-combustion technologies is widely applied in 

the chemical processing industries, as it can be retrofitted to existing large emission 

sources. Various adsorbents have been designed and synthesised since 1990s, and 

the suitable materials were subjected to rigorous CO2 adsorption testing [96]. The 

common adsorbents including carbonaceous materials, zeolites, metal-organic 

frameworks (MOFs), ordered mesoporous silicas and amine-functionalised silicas are 

introduced briefly below.  

 

2.2.1 Carbonaceous materials  

Carbonaceous adsorbents are widely used for CO2 capture to treat high-pressure 

gases due to their wide availability, low cost, high thermal stability, and low moisture 

sensitivity [97].  

As a common adsorbent, activated carbons (ACs) can feature varying-extent sites of 

both hydrophobic and hydrophilic sites on the surface, based on the source materials 

and synthesis methods [98]. They feature the advantages of low cost, fast adsorption 

kinetics, and low regeneration energy requirements [99, 100]. The adsorption capacity 

of ACs is primarily determined by their porous structure, which is affected by two 

crucial factors during the synthesis process: precursors (such as wood, polymers coals, 

and pitches) and the experimental preparation methods [101]. The chemical structure 

of ACs relies on the interaction between polar and nonpolar adsorbates. The active 

sites, such as the structure of edges, dislocations, and discontinuities, govern the 

adsorption capacity and kinetics of ACs. Proper activation can improve the active sites 

by increasing the pore surface area and size. The activation processes are usually 
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divided into chemical activations and physical activations, according to the employed 

activating agents and activating procedures. 

The chemical activation process only involves the carbonisation of the precursor in the 

chemical agents, in which the decomposition of pyrolytic is affected by dehydrating 

agents, and the tar formation is inhibited, leading to the enhancement of carbon yield 

[102]. Activating agents include alkalis, acids, hydroxides, and carbonates of alkaline 

metals, such as phosphoric acid (H3PO4), potassium hydroxide (KOH), potassium 

carbonate (K2CO3), sodium hydroxide (NaOH), sodium carbonate (Na2O3), aluminium 

chloride (AlCl3), zinc chloride (ZnCl2) and magnesium chloride (MgCl2) [103-105]. On 

the other hand, preparing ACs via a physical activation process involves carbonising 

the carbonaceous precursor, followed by activating the char using steam or CO2 as 

the activating agent. It is necessary to eliminate the internal carbon mass by a 

considerable amount to gain a well-defined carbon structure; the oxidant gas is then 

applied to treat the samples within the temperature range between 800 and 1,000°C 

to remove the atoms selectively [101]. The chemical activation process provides a 

better porous structure, and the required temperature is lower than that employed in 

the physical activation process [102]. Moreover, the chemical activation process 

consists of only one step to produce highly microporous ACs [104]. However, 

compared to the physical activation process, the requirement of the washing stage 

after the pyrolysis and the utilisation of the corrosive chemical agents are the main 

disadvantages of the chemical activation process. Table 2-2 lists the classification of 

pores on ACs and their pore sizes. Typically, the pore structure of ACs is determined 

from the adsorption amount of nitrogen gas at a relative pressure of up to 0.99. In 

contrast, the pore volume is estimated via the density functional theory (DFT) method 

[106].  

Table 2-2 Classification of pores on ACs and their sizes [99]. 

Type of pore 
Pore diameter 

(nm) 
Pore volume (cc/g) Surface area (m2/g) 

Micropore < 2 0.15-0.5 100-1000 

Mesopore 2 –50 0.02-0.1 10-100 

Macropores > 50 0.2-0.5 0.5-2 
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Depending on the particle size, ACs are classified as powdered activated carbon 

(PAC), granulated activated carbon (GAC), and activated carbon fibres (ACF). The 

particle size of PAC is around 44 µm [107], which is suitable for fast adsorption. The 

fixed bed, however, is not recommended to be equipped with PAC due to the 

difficulties of handling, thus leading to a high pressure drop. Additionally, the 

regeneration of PAC is another issue. On the other hand, GAC can cope with different 

operating conditions since it is hard, abrasion-resistant, and dense, with a particle size 

ranging between 0.6 and 4.0 mm [107]. Unlike PAC, GAC is much easier to regenerate 

without the low hydrodynamic resistance, but it is more expensive.  

Among all ACs, the most costly material is the ACF, mainly applied in waste-water 

treatments. Typically, ACF is commonly characterised by a diameter of approximately 

10 µm in size and are comprised exclusively of meso- and micropores [108]. Despite 

of the similar adsorption capacities to GAC, they demonstrate a superior kinetic 

performance due to their filamentous structure, leading to an exceptionally efficient 

contact process between the adsorbate and adsorbent surface. Moreover, ACF offer 

the advantage of versatile conversion into various textile forms and non-woven 

materials, characterised by low hydrodynamic resistance. This adaptability makes 

them suitable for use in thin layers to treat high gas flow rates effectively, consequently, 

enhancing adsorption efficiency and streamlining the designs of sorption process [109].  

The adsorption on carbonaceous materials is influenced by two primary forces: van 

der Waals forces and electrostatic (Coulomb) forces, either independently or in 

combination, depended on the textural properties and chemistry of the materials. Van 

der Waals forces primarily are related to the pores, whereas the Coulomb forces are 

prominently associated with impurities. These two physical bonds are weak, resulting 

in high temperature sensitivity, thus, possible for efficient regeneration [110, 111]. 

Fabricating different structures, such as carbon nanotubes (CNTs), is a way to improve 

adsorption by modifying the surface area and pore structure [97]. The one-dimensional 

well-ordered CNTs show the length within the range between several hundred 

nanometres and several micrometres, with diameters of 0.4-2 nm for single-walled 

carbon nanotubes (SWCNT) and 2-100 nm for multi-walled carbon nanotubes 

(MWCNT) [112, 113]. SWCNT and MWCNT show the advantages of high surface area, 

high tensile strength, ultra-light weight, rich electronic properties, and outstanding 
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chemical and thermal stability [113, 114]. CNTs have been proposed in many 

applications, such as biosensors [115], biomaterials [116], drug and vaccine delivery 

carriers [117, 118], tissue engineering [119], gas separation [120], and catalysis [121]. 

It is reported by Cinke et al. [122] that the CO2 adsorption capacity of SWCNT is twice 

that of ACs. Su et al. [112] tested the CO2 adsorption capacity of 3-aminopropyl-

triethoxysilane (APTS)-modified CNTs between 20-100ºC. They have reported that 

the CO2 adsorption capacity on the CNTs is improved due to the increased affinity 

between CO2 and CNT surface and the increased amine groups on the surface. Hence, 

the APTS-modified CNTs are suggested as potential adsorbents for capturing the CO2 

from flue gas under low temperatures.  

 

2.2.2 Zeolites 

Zeolites are porous hydrated crystalline aluminosilicates, the framework of which 

consists of gathering SiO4 and AlO4 tetrahedra via sharing oxygen atoms to form an 

open crystal lattice. The open crystal lattice determines the uniform micropore 

structure without pore size distribution. The identified pore openings connected by the 

tetrahedra create cages with pore sizes between 0.3 and 1 nm and pore volumes 

between 0.1 and 0.3 cm3/g [123]. The adsorptive properties of zeolites are determined 

by the site location of exchangeable cations that balance the negative charge 

introduced by each aluminium atom on the framework. Changing the exchangeable 

cation via ion exchange is a valuable way to modify the adsorption properties. 

According to the crystallographic unit cell, the general formula of zeolites is given as 

𝑀𝑥/𝑛[(𝐴𝑙𝑂2)𝑥(𝑆𝑖𝑂2)𝑦] ∙ 𝑤𝐻2𝑂, where 𝑀 is the cation of alkali or alkaline earth, and 𝑛 is 

the valence. The number of H2O molecules in each unit cell is expressed by 𝑤, and 

the total number of AlO2 and SiO2 tetrahedra in each unit cell is defined by 𝑥 and 𝑦, 

respectively. The 𝑦-to-𝑥 ratio is 1 to 5 for the zeolites, whereas it is within the range of 

10-100 for the silica zeolites. It is noted that the physical properties of zeolites are 

deeply dependent on the Si/Al ratio [124]. Table 2-3 lists the classification of zeolites 

in terms of the pore type and free diameters.  

 



32 
 

Table 2-3 The classification of zeolites in terms of the pore type and free diameters with samples [125, 126]. 

Classification  Pore type Free diameters (nm) Samples 

Small pore zeolites 8-ring 0.35-0.45 Zeolite A 

Medium pore zeolites 10-ring 0.45-0.60 ZSM-5 

Large pore zeolites 12-ring 0.60-0.80 Zeolite X and Y 

Extra-large pore zeolites  14-ring 0.70-1.00 Zeolite UTD-1 

 

Zeolites' structures, synthesis methods, and properties have been well explored. The 

International Zeolite Association (IZA) Structure Commission assigned a three-letter 

code to the known framework topology, regardless of composition [127]. For example, 

the Linde zeolite A and silicalite topologies are presented by the codes of LTA and 

MFI, respectively. The faujasite topology of molecular sieves such as zeolite X and Y 

is characterised by the code FAU.  

Since synthetic zeolites have more uniform particle sizes and higher crystalline purity, 

they have been used commercially more often than natural zeolites. Additionally, 

synthetic zeolites can be designed with a broad range of pore sizes and chemical 

properties featuring the advantage of high thermal stability. Several synthesis factors 

affect the type of zeolites, including the mixture composition, the nature of reactants, 

the reaction time, the process temperature, and pH values [123, 124, 128].  

 

2.2.2.1 Zeolite A  

Zeolite A, known as Linde Type A (LTA) zeolite, has a typical formula of 

𝑁𝑎12[(𝐴𝑙𝑂2)12(𝑆𝑖𝑂2)12] ∙ 27𝐻2𝑂, in which 𝑁𝑎 ions can be exchanged with other cations 

such as 𝐿𝑖, 𝐾, and 𝐶𝑎 [129]. The main building unit of zeolite A, consisting of eight 

sodalite cages linked via four-membered oxygen rings, forms a large alfa cage with a 

diameter of 1.14 nm interconnected by eight-membered oxygen openings in the size 

of 4.1 Å (referred to as zeolite 4A). The zeolite framework shows a three-dimensional 

structure with a void fraction 0.47 [130]. When Na+ is replaced by K+, the pore size is 

diminished to around 3 Å, called zeolite 3A. The opening size increased to around 5 
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Å, where Na+ is exchanged with Ca2+, called zeolite 5A. The framework structure of 

zeolite A is illustrated in Figure 2-8.  

Zeolite A does not exist in nature. It is synthesised via alkali metal aluminosilicate gels 

reacting under alkaline conditions at low temperatures (below 100°C) and autogenous 

pressures to form hydrothermal crystallisation [99]. The crystal density of hydrated 

type zeolite A reported by Breck [131] is 1.999 ± 0.004 g/cc and is affected by the 

exchanged cation presented in Table 2-4, where an increment in atomic cation weight 

leads to an increase in density. The density of zeolite 4A is the lowest among all A-

type zeolites due to the largest interparticle void.  

Table 2-4 The crystal density of cation-exchanged zeolite A [131]. 

Cation content per unit cell Crystal density (g/cc) 

12 Na 1.99 

12 K 2.08 

7.8 Li, 4.2 Na 1.91 

3.8 Cs, 8.2 Na 2.26 

9.6 Ti, 2.4 Na 3.36 

4 Mg, 4 Na 2.04 

6 Ca 2.05 

 

Figure 2-8 The structure of LTA-type zeolite (zeolite 4A) modified from [132, 133].  
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2.2.2.2 Zeolite X and Y  

Zeolites X and Y are naturally occurring faujasite-type (FAU) aluminosilicate zeolites, 

having the same crystalline structure, as depicted in Figure 2-9. Eight cages 

composed of 192 𝐴𝑙𝑂2 and 𝑆𝑖𝑂2 tetrahedral units integrate the crystallographic unit 

cells. The framework comprises six-membered oxygen bridge-link sodalite units that 

form a tetrahedral lattice, or two double six-ring units arranged tetrahedrally. Each 

cage is linked to four other cages via 12-membered oxygen rings with a window 

opening aperture of 7.4 Å. The 𝑆𝑖/𝐴𝑙 ratio is the main difference between X- and Y-

type zeolites, 1-1.5 for X-type and 1.5-3 for Y-type. Because a high 𝑆𝑖/𝐴𝑙 ratio leads to 

thermal stability, zeolite Y has an advantage over zeolite X. Besides, the number of 

exchangeable cations is 10-12 per cage for the X-type, whereas it is 6 per cage for 

the Y-type. Since the property and number of cations determine the cation distribution 

among the various sites, the adsorption properties of zeolite X and Y can be modified 

by ion exchange to improve the distribution of cations on the possible sites.  

 

 

Figure 2-9 The structure of FAU-type zeolite modified from [132].  
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2.2.2.3 Pentasil zeolites (MFI)  

The MFI topological structure comprises eight primary structural units integrated by 

five-membered [TO4] tetrahedra rings (T = 𝑆𝑖, 𝐴𝑙, 𝑇𝑖, 𝐺𝑎, or 𝐹𝑒), sharing the edge to 

form the pentasil chain structure, as shown in Figure 2-10. Consequently, the three-

dimensional pore channels are assembled by sharing the oxygen atoms in the vertex 

of the pentasil chain [134]. Apart from the silica zeolite frameworks, the overall net 

charge of MFI zeolites is negative and can be balanced by the cations in the pores. 

The pore size is classified by the number of central (T) atoms in the ring: 8-membered 

rings of small-pore zeolites, 10-membered rings of medium-pore zeolites, and 12-

membered rings of large-pore zeolites [135]. Due to the pore size and ease of 

preparation, the zeolite membranes typically apply the MFI structure, which includes 

silicalite-1 and ZSM-5. Si atoms in ZSM-5 replace some of the Al atoms, whereas the 

aluminium-free form of ZSM-5 is called silicalite-1. 

 

Figure 2-10 The structure of MFI zeolite taken from [132].  
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2.2.3 Metal-organic frameworks (MOFs) 

Metal-organic frameworks (MOFs), consisting of metal ions interconnected by organic 

linkers, are catalogued as porous inorganic-organic hybrid components [136]. MOFs 

have three essential parts: the framework topology, the organic bridging ligands, and 

the inorganic metal ions. The organic ligands serve as organic secondary building 

units (SBU) for support, while the inorganic metal ions are referred to as inorganic 

SBU performing as joints. One of the most critical features of MOFs is their accessible 

surface area of up to 7,000 m2/g [137].The pore size (or pore volume) and the 

characteristics of the surface, can be customised for MOFs through the 

functionalisation of the amine groups via post-synthetic modifications [138-140].  

According to [136], the expanded zeolite topology-designed MOFs have higher 

porosity and larger pores in both organic and inorganic structures than zeolites.  

MOFs have gained increasingly appealed to in applications, such as catalysis [141, 

142], sensing [143, 144], gas separation and storage [145-147], drug delivery systems 

[148, 149], and air purification [150, 151], due to their adaptable structure, nanoporous, 

and rich physicochemical properties. Despite having these properties, the powder 

shape of MOFs limits their applications.  

By mounting MOF crystal onto cost-effective, eco-friendly, and commercially available 

matrices, the future uses of MOFs might be effectively expanded [152]. For example, 

combining micro- or nano-MOF-particles with polymers is appealing because the as-

formed MOF-based polymer nanocomposite combines the advantages of MOFs and 

polymers, demonstrating thermal stability and robustness. It overcomes the 

drawbacks of polymers' brittleness and mechanical strength limitation [153]. The main 

disadvantage of some of the most promising MOFs is their moisture instability, which 

also restricts their practical applications [154].  

Since the general name for the group of metals compounds is abbreviated as ‘MOF’, 

an individual MOF is represented by adding the ordinal number to the end, such as 

MOF-177 and MOF-14. When analysing many MOFs regarding their structures and 

properties, the criteria for designing structures with desired properties can be 

formulated, such as IRMOF-1 to IRMOF-16 (isoteticular metal-organic frameworks, 

IRMOF-n).  
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IRMOFs consist of zinc-based metal oxide clusters connected by a benzene 

carboxylate-based organic linker, forming a three-dimensional lattice of cubic cavities 

that show similar crystal structures [155, 156]. As the archetype of all IRMOFs, 

IRMOF-1 has a cubic structure composed of Zn4O metal clusters connected by 1,4-

benzene dicarboxylate (BDC) linkers [157]. Then other IRMOFs were synthesised 

using different carboxylate linkers via classical solvothermal, microwave radiation, and 

ultrasonic irradiation methods [158]. Although a series of IRMOFs contribute to the 

similar pcu topology of IRMOF-1 (Figure 2-11), their chemical and physical properties 

differ among the IRMOFs [159].  

 

Figure 2-11 The crystal structures of IRMOF- n, where n=1-7, 8, 10, 12, 14, and 16 are taken from [160]. 

 

Zeolitic imidazolate frameworks (ZIFs) are a sub-classification of MOFs, represented 

by the abbreviation ‘ZIF’ with a number. The porous crystal structure of ZIFs comprises 

the tetrahedral metal ions (M, e.g., Zn, Co) linked by imidazolate (Im) formed by a self-

assembly approach. It has demonstrated that a large number of synthesised ZIFs 

exhibit zeolite-type tetrahedral topologies, in which imidazolate anions-form linkers act 

as oxygen, and Zn ions act as the silicon in zeolites. The angle of M-Im-M in ZIFs is 

around 145º, similar to the angle of Si-O-Si in zeolites [161]. Both the traditional zeolite 

structure and the predicted zeolite topologies can be exhibited by ZIFs [162]. The 

characteristics that combine the properties of both MOFs and zeolites show ultrahigh 
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surface areas, permanent porosity, and high thermal and chemical stabilities, which 

make ZIFs promising materials in many application fields, such as CO2 capture, 

sensing, catalysis, gas separation, and storage [161, 163]. Traditionally, the ZIF-based 

materials have been synthesised either through the hydrothermal method in water or 

the solvothermal method in organic solvents; the reaction duration ranges from hours 

to days at a temperature up to 200ºC [161]. Park et al. [164] synthesised ZIFs (i.e., 

ZIF-1 to ZIF-12) in the amide solvent N,N-diethylformamide (DEF) at the temperature 

range of 85-150ºC within 48-96h. A series of studies have reported the synthesis of 

ZIF crystals, such as ZIF-60 to ZIF-77 [165], ZIF-78 to ZIF-80 [166], ZIF-90 [167], ZIF-

95, and ZIF-100 [162], using N,N-dimethylformamide (DMF) or DEF. 

     

Figure 2-12 The crystal structures of ZIFs taken from [164].  

 

Some MOFs are classified with the same letter based on the place of their discovery 

instead of the structural similarities, such as UiO (University of Oslo), MIL (Materials 

of Institute Lavoisier), HKUST (Hong Kong University of Science and Technology), etc.  

The development of UiO-66 by Cavka et al. [168] is a remarkable step in constructing 

MOFs with inherent stability in structure and composition. The inorganic brick of UiO-

66 is made up of an SBU Zr6O4(OH)4 cluster connected by dicarboxylic acids, forming 

a face-centred cubic lattice with the formula Zr6O4(OH)4(BDC)6 (BDC = 1,4-benzene-

dicarboxylate). The triangular aperture size is 0.6 nm [168], and the diameters are 

approximately 1.1 and 0.9 nm of the octahedral and tetrahedral cavities, respectively 
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[169]. UiO-66, -67, and -68 also have been classified as Zr-MOFs. The oxidation state, 

ionic radius, or metal-ion charge density determine the interactions between the metal 

and ligand bond in MOFs. Most carboxylate-based Zr-MOFs have a strong affinity 

between Zr (IV) and carboxylate oxygen atoms, resulting in high charge density and 

bond polarisation [170], and are stable in both water and organic solvents, as well as 

acidic aqueous-tolerant. However, Zr-MOFs are unstable in basic aqueous solutions 

[171]. 

 

Figure 2-13 The crystallographic model of prefect UiO-66 structure taken from [168]. 

 

The HKUST-1, also called MOF-199 [172], was first developed by Chui et al. [173] 

with the formula [Cu3(TMA)2(H2O)3]n (TMA=benzene-1,3,5-tricarboxylate). The 

HKUST-1 framework comprises copper ions coordinated by TMA ligands to form face-

centred cubic crystals in three dimensions. Cu (II) ions form dimers by coordinating 

each copper atom with four oxygen and water molecules. The large square-shaped 

pores in each formula unit, with a size of 0.9×0.9 nm, contain up to 10 additional water 

molecules. The HKUST-1, a promising hydrogen storage material, can store 0.47 wt% 

of H2 under 35 bar and 303 K [174]. Other applications in the gas removal field have 

been reported, such as the removal of NH3 and CO2 from contaminated air and flue 
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gases [175, 176], gas mixtures such as CO2-CO, CO2-CH4, and C2H4-C2H6 [177], 

catalysts [178], and photovoltaics [179].  

 

Figure 2-14 The crystallographic model of HKUST-1 structure taken from [180]. 

 

MIL-53 was synthesised by Férey’s group, composed of infinite pure inorganic chains 

with coordinated Cr3+ connected by benzene-1,4-dicarboxylate (terephthalate, or BDC) 

ligands [181]. Each metal centre is coordinated by four oxygen atoms from four 

different carboxylate groups, making the metal coordination octahedral. The structure 

of inorganic chains possesses diamond-shaped channels when viewed in parallel 

(Figure 2-15) [182]. Generally, MIL-53 is synthesised via solvothermal or hydrothermal 

approaches that apply the metal salts and benzene-1,4-dicarboxylic acid as reagents. 

Micron-sized polycrystalline samples are obtained over hours to days. Due to its high 

flexibility, the framework of MIL-53 can be generated in different shapes. There are at 

least five crystalline MIL materials, including MIL-53 (M(OH)BDC guest) [183, 184], 

MIL-68 (M(OH)-BDC guest), MIL-71 (M2(OH)2F2BDC guest) [186], MIL-88 (M3OBDC3 

X guest) [187], and MIL-101 (M3OBDC3 X guest) [188], formed by combining the 

trivalent metal cations such as V3+, Cr3+, Al3+, In3+, and Fe3+ with the framework based 

on the solvothermal approach. Although these open-framework MOFs have similar 

topologies to zeolites, the surface chemistry, density, and pore size are different [189]. 
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MIL-53 and MIL-88 exhibit extraordinary framework flexibility among these MIL 

materials, while MIL-101 shows a large pore volume and surface area [190].  

 

Figure 2-15 The crystallographic model of MIL-53 structure. (a) The shared MO6 chains are extended infinitely by 

connecting the benzene-1,4-dicarboxylates. (b) The diamond shape of the inorganic chain structure is viewed in 

parallel [182]. 

 

Other MOFs, including coordination pillared-layer metal-organic frameworks (CPL-

MOFs) [191, 192], fluorinated metal-organic frameworks (F-MOFs) [193, 194], and 

metal-organic polyhedral (MOPs) [195, 196], etc., have also been reported in open 

literature.  
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2.2.4 Ordered mesoporous silica (M41, SBA-n, AMS) 

The ordered mesoporous silica materials such as M41, SBA-n (Santa Barbara 

Amorphous type material), and AMS (anionic surfactant-templated mesoporous silica) 

have gained much attention for CO2 capture due to their adjustable pore size with 

narrow distribution (2-10 nm), high specific surface area (>700 m2/g), high pore volume 

(>0.9 cm3/g), excellent thermal and mechanical stability [197, 198]. In terms of the 

pore types, the ordered mesoporous silica can be divided into three categories: nearly 

spherical cage (such as SBA-16 and FUD-12), cylindrical channel (such as SBA-15 

and MCM-41), and bi-continuous channel (such as MCM-48). The surface mean 

curvature of the spherical cage mesoporous structures is the largest, followed by the 

cylindrical channel structure. The bio-continuous channel structure shows the lowest 

surface mean curvature. Typically, the ordered mesoporous silica is synthesised by 

organic surfactants integrating with an inorganic silicate substance [199]. 

SBA-16 is the first well-documented example of ordered mesoporous silica with cage-

type pores and a body-centred cubic structure (referred to as cubic Im3m symmetry). 

It is synthesised using poly(alkylene oxide) triblock copolymers with large EO group 

moieties (EO106PO70EO106), with a BET surface of 740 m2/g and a pore size of 5.4 nm 

[200]. The higher copolymer EO/PO ratio favours cubic mesostructured silica, while 

the lower ratio forms lamellar mesostructured silica. Based on the electron 

crystallography study [201], each pore cage is connected to eight adjacent cages to 

form the multidirectional pore network system in SBA-16. The diffusion of large 

molecules is blocked by the relatively small cage entrance size [202].  

FDU-12 has the pore structure of a face-centred cubic (Fm3m), which is synthesised 

using 1,3,5-trimethylbenzene (TMB) and inorganic salts with the template of 

EO106PO70EO106 [203]. Fan et al. [204] synthesised a highly ordered mesoporous 

material (Fm3m) with a large pore size up to 27 nm by reducing the temperature 

between 14-15ºC. Then Kruk and Hui [205] improved the low-temperature procedure 

and reported a wider temperature range (7-15ºC) for synthesising the large-pore FDU-

12. The selection of their synthesis condition makes it possible to tailor the pore 

entrance size and diameter.  
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The ordered mesoporous silica materials with 2D hexagonal symmetry structures 

(p6mm) showing the cylindrical pore channels have gained much attention [206]. Beck 

et al. [207] reported that the MCM-41 was the first material with this structure to be 

synthesised using the alkylammonium surfactants as templates. They demonstrated 

that using surfactants with different chain lengths can adjust the pore diameters of 

MCM-41 between 2 and 4 nm. Moreover, the pore diameter can be further increased 

up to 10 nm by adding auxiliary hydrocarbons such as 1,3,4-trimethylbenzene [208]. 

SBA-15 is another highly ordered hexagonal mesoporous silica made from triblock 

poly(ethylene oxide)-poly(propylene oxide)-poly(ethylene oxide) (PEO-PPO-PEO) 

copolymers with BET surfaces ranging from 690 to 1,040 m2/g and large pores ranging 

from 4.5 to 30 nm [200]. Typically, the connections between cylindrical pores are 

present in the structure of SBA-15, while they do not exist in MCM-41 [206].  

Bi-continuous phases have a complex and highly symmetric structure consisting of 

two interwoven but disconnected channels separated by a single continuous three-

periodic minimal interface [199]. MCM-48, with a cubic space structure (Ia3d), was the 

first bi-continuous mesoporous material [199, 208]. Monnier et al. [209] suggested that 

a unique infinite silicate sheet formed by silicate polymer is located on the gyroid 

minimal surface. The bi-continuous structure of MCM-48 based on the gyroid surface 

proposed by Monnier et al. was further proved by Alfredsson and Anderson [210]. The 

specific surface area of MCM-48 is up to 1,600 cm2/g, and the specific pore volume is 

up to 1.2 cm3/g, with high thermal stability. Adding metals such as titanium, niobium, 

and aluminium into the framework makes it possible to adjust the catalytic properties 

of MCM-48 [211].  

 

2.2.5 Amine-functionalised silica adsorbents 

Amine-functionalised silica sorbents have been extensively studied as one of the most 

promising materials for adsorption-based CO2 capture [212, 213] due to their high CO2 

adsorption capacity of CO2 [33, 214-216], low energy requirements [217], high stability 

[214, 216, 218], and non-corrosive [219, 220]. The silica-supported amine adsorbents 

have been classified into three sub-groups depending on the preparation methods and 

bond structures.  
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Figure 2-16 The amine-functionalised silica adsorbents were synthesised in three ways, physical impregnation, 

covalent tethering, and in situ polymerisation with pores taken from [220]. 

 

Practically, Class I materials are prepared by combining the pre-synthesised amines 

and mesoporous solid supports (silica) physically, which are widely used in large-scale 

gas separation processes [219]. The amine-contained polymers are used due to their 

low volatility, while the robust silica-polymer composites can cope with various 

treatment conditions. The impregnated amine, including large amino polymers such 

as polyethyleneimine (PEI) [221], and shorter amine moieties such as 

monoethanolamine (MEA), diethanolamine (DEA), methyl diethanolamine (MDEA), 

and tetraethylenepentamine (TEPA) [212, 221-224], is loaded onto the silica supports 

via van der Waal’s force [212]. Class II materials are created by dissolving the amino-

silane in a volatile solvent and forming covalent bonds between amine-contained small 

molecules and the silica support. The amino-silane contains (3-

aminopropyl)trimethoxysilane (APS), (N-methylaminopropyl)trimethoxysilane (MAPS), 

3-(trimethoxysilyl)propylethylenediamine (diamine),  and 3-[2-(2-

aminoethylamino)ethylamino] [225], propyltrimethoxy-silane (triamine) [226-228]. 

Finally, Class III materials are created similarly to Class II, using in situ amine-
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contained polymerising monomers. Due to the high site density of polymeric amines 

and amine-silica covalent bonds, Class III materials are sometimes considered a 

mixture of Class I and II. The amine-functionalised Class III materials include Tris(2-

aminoethyl)amine (TAEA) and ethylenediamine (ED) [229, 230]. 

Amine-impregnated materials are made by solvent evaporation after mixing the amine 

solution with the support material. The amines and support material interact through 

van der Waals forces, hydrogen bonding, and/or dipole interactions. It is found that 

both amine loadings and textural properties determine the CO2 adsorption rate on 

such materials. Also, support materials with larger pore volumes could lead to higher 

amine loadings. However, the higher amine loadings may lead to a lower CO2 uptake, 

especially at low temperatures, due to diffusion limitations [231]. The most commonly 

used amines for impregnation are PEI oligomers and branched polymers with different 

molecular weights. In this context, the PEI with a low molecular weight shows an 

advantage due to its ease of diffusion into the pores of support materials without 

blocking the pore aperture significantly, compared to the heavier PEIs. The higher the 

amine content of the support materials, the higher the CO2 uptake. As the loading 

increases, the polymer may aggregate on the external surface or inside the pores, 

thus reducing the amine accessibility [232]. The textural properties of silica support 

also significantly impact CO2 adsorption performance. Amine accessibility can be 

improved as higher CO2 adsorption capacities and faster adsorption kinetics are 

accomplished by the silica supports with higher connectivity, shorter pores, larger pore 

size, and higher pore volume [233].  

Although any porous support material can be used for amine impregnation, the 

existence of surface hydroxyl groups limits the amines covalently bonded to silica. 

Generally, there are two approaches for synthesising porous aminosilicas: 1) surface 

grafting and 2) co-condensation. The surface grafting involves the subsequent 

modification of the silica inner surface with amino silanes, whereas the co-

condensation is the simultaneous condensation of silica sources and amino silanes 

[234]. The materials synthesised by amine grafting on ordered mesoporous silica are 

easily characterised for specific applications. In contrast, it is difficult to characterise 

the materials synthesised by the co-condensation method due to the disordered 

framework with a wide size distribution and a random array of pores [233].  
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Applying temperature swing adsorption (TSA) by purging the inert gas under high 

temperature conditions is the principal approach for amine-functionalised silica 

adsorbent regeneration [235-239]. The inert purge gas provides the driving force for 

concentration, while the energy provided by increasing the temperature is used to 

reverse the exothermic adsorption of CO2 on amine sites. The desorption rate 

increases with the temperature and more CO2 is desorbed. On the other hand, 

adsorbents can be regenerated by pressure/vacuum swing adsorption (P/VSA), which 

requires significant energy for compression or implementation at the vacuum-pressure 

level. In general, the TSA process is more attractive as the regeneration energy is 

provided by the waste heat produced by the power plant compared to the P/VSA 

process.  

Satyapal et al. [240] reported a PEI-impregnated adsorbent based on a high-surface-

area solid polymethyl methacrylate polymeric support for removing CO2 in space 

shuttle applications. Xu and co-workers [235] developed a high-capacity and high-

selectivity CO2 adsorbent prepared by impregnating the PEI onto the MCM-41 type 

mesoporous molecular sieve with a surface area, pore volume and pore diameter of 

1,480 m2/g, 1.0 mL/g, and 2.75 nm, respectively. They demonstrated that the 

developed material could achieve a high CO2 adsorption capacity of 215 mg CO2/g 

PEI at 75 °C, two times higher than pure PEI and 24 times higher than MCM-41. Other 

amines, including tetraethylenepentamine (TEPA) [214, 232, 237, 241-251], 

ethylenediamine (EDA) [214], pentaethylenehexamine (PEHA) [246, 252], 

monoethanolamine (MEA) [253], diethanolamine (DEA) [232, 253, 254], 

methyldiethanolamine (MDEA) [253], diethylenetriamine (DETA) [248, 255, 256], 

triethylenetetramine (TETA) [255, 256], triethanolamine (TEA) [257] and 2-amino-2-

methyl-1-propanol (AMP) [255, 258], can be impregnated onto various silica supports, 

such as silica gels [232, 259], silica nanotubes [244, 260, 261], silica monoliths [262], 

silica capsules [237], silica mesocellular foam (MCF) [245, 263-265], silica 

microspheres [266], conventional MCM-41 [226, 252, 253, 255, 258, 267], MCM-36 

[268], MCM-48 [236, 269, 270], MSU-1 [247], MSU-H [250, 271], MSU-J [256], SBA-

15 [236, 249, 272-274], SBA-16 [236], KIT-6 [236] and other synthetised silicas [242, 

275, 276].  
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2.2.6 The criteria for adsorbent selection 

When selecting the proper adsorbent for CO2 separation from the post-combustion 

flue gas, it is crucial to meet the criteria as explained below [277].  

1) CO2 adsorption capacity.  

The adsorption capacity of CO2 on the adsorbent is estimated by the equilibrium 

adsorption isotherm. It is the most crucial criterion for evaluating the capacity cost as 

it indicates the required amount of adsorbent and the adsorption column size. The 

adsorption capacity also shows the energy required to regenerate the adsorbent.  

2) Selectivity for CO2 

The selectivity is defined as the ratio of uptake amounts between the CO2 and other 

components, which is estimated by applying single-component CO2 and N2 adsorption 

isotherms. It is a crucial factor affecting the purity of the adsorbed gas, consequently 

impacting CO2 sequestration.  

3) Enthalpy of adsorption 

The enthalpy of adsorption, which describes the strength between the adsorbate and 

adsorbent, is characterised by the CO2 affinity of the material. It is another evaluation 

factor to determine the cost and energy required for adsorbent regeneration.  

4) Stability 

The adsorbents have to maintain structural integrity and stability under the flue gas 

conditions and multi-cycle adsorption-desorption process without reducing the capture 

capacity to save the cost. The water-vapour tolerance is also essential for some 

specific applications for the adsorbents.  

5) Adsorption/desorption kinetics. 

The kinetics of the CO2 assessed in the breakthrough experiments significantly impact 

the duration of adsorption and desorption, thus affecting productivity. Adsorbents that 

need a short duration for adsorption and desorption are preferred since the amount of 

adsorbents is reduced, thus saving the cost of CO2 separation.  
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6) Cost of the material.  

Undoubtedly, the perfect adsorbent would meet all the criteria mentioned above, while 

being affordable and easy to produce.  

 

2.3 Regeneration methods for adsorption-based process 

CO2 adsorption occurs in the packed-bed column filled with solid adsorbents at 

moderate pressure and temperature. Two stages, adsorption and desorption, are 

involved in the entire mechanism to get a high purity of CO2 via  pressure swing, 

vacuum swing or temperature swing [278], explained below:  

• Pressure/Vacuum swing adsorption (P/VSA)  

The P/VSA process is a cyclic process to continuously separate the desire component 

from the gas mixture based on the molecular characteristics and adsorbent material 

affinity, which relies on the periodic pressure change between adsorption and 

desorption. During the P/VSA process, the gas mixture enters the column under high 

pressure and low temperature until the outlet gas reaches equilibrium conditions [37]. 

Then the adsorption bed is regenerated by lowering the column pressure and purging 

with a gas with low adsorptivity. After the regeneration, the column bed is ready for the 

next cycle.  

• Temperature swing adsorption (TSA) 

 The TSA process is based on alternating between low and high temperatures for the 

adsorption and desorption, where the additional heat provided by the hot pure inert 

gas is required to regenerate the adsorbents. The regeneration temperature is 

determined by the stability and characteristics of both the adsorbed gas and the 

adsorbent. Then the regeneration bed is cooled down for further cycles. Although the 

cost of TSA is much higher than P/VSA due to the additional heat requirement, it is 

possible to integrate the TSA process with the post-combustion process to utilise 

available waste heat [37]. 
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2.4 Isotherms on solid adsorbents 

The adsorption isotherm refers to the amount of gas (or vapor) adsorbed on a solid at 

various pressures under a fixed temperature, which provide the solid’s surface area 

and pore structure. As a result, adsorption isotherms, particularly when using N2 at 

77K, are the effective and most common technique for characterising porous materials 

[279]. 

 

2.4.1 Langmuir isotherm 

The monolayer adsorption on a solid surface is described by the Langmuir isotherm 

model shown in Equation 2-6. The adsorption sites are assumed to be energetically 

equivalent, and there are no interactions between the adjacent sites. The real solids 

have a heterogenous surface due to the complicated pore structure and surface 

composition. Since the solid-adsorbate pair features the specific characteristic of 

heterogeneity, it is difficult for solids to obey the Langmuir theory’s fundamental 

assumptions. Hence, the semi-empirical approaches develop the equilibrium data 

[280, 281].  

 𝑞𝑖 = 𝑞𝑚,𝑖
𝑏𝑖𝑃

1+𝑏𝑖𝑃
  (2-6) 

where, 𝑞𝑖 is the equilibrium adsorbed amount of each component; 𝑞𝑚,𝑖 is the maximum 

adsorbed capacity for component i, and P is the pressure. The Langmuir parameter, 

𝑏𝑖, is the temperature-dependence parameter, followed by Van’t Hoff equation:   

 𝑏𝑖 = 𝑏0,𝑖𝑒𝑥𝑝 (
−∆𝐻𝑎𝑑𝑠,𝑖

𝑅𝑇
)  (2-7) 

where, 𝑏0,𝑖  is the adsorption constant for component i at the infinite temperature; 

∆𝐻𝑎𝑑𝑠,𝑖 is the heat of adsorption for component I; 𝑅 is the ideal gas constant, and 𝑇 is 

the column temperature.  
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2.4.2 Dual-site Langmuir isotherm 

On the heterogenous surface, real solids may have two or more types of energetically 

different adsorption sites [282]. Applying the assumptions of the Langmuir model on 

each site, the Langmuir isotherm can be extended to the dual-site Langmuir (DSL) 

model with four parameters (𝑞𝑏,𝑖, 𝑞𝑑,𝑖, 𝑏𝑖, 𝑑𝑖). The total adsorbed amount is given by 

Equation 2-8. During adsorption, the sites with strong adsorption energy are filled first, 

followed by the sites with weak adsorption energy.  

 𝑞𝑖 = 𝑞𝑚𝑏,𝑖
𝑏𝑖𝑃

1+𝑏𝑖𝑃
+ 𝑞𝑚𝑑,𝑖

𝑑𝑖𝑃

1+𝑑𝑖𝑃
  (2-8) 

where, 𝑞𝑚𝑏,𝑖 and 𝑞𝑚𝑑,𝑖 are the saturation capacities of sites 1 and 2, respectively, and 

the total saturation capacity, 𝑞𝑚,𝑖 , is the sum of 𝑞𝑚𝑏,𝑖  and 𝑞𝑚𝑑,𝑖 . 𝑏𝑖  and 𝑑𝑖  are the 

Langmuir parameters of sites 1 and 2 individually, obtained via Van’t Hoff equation.  

 

2.4.3 Sips isotherm 

The Sips isotherm model, shown in Equation 2-9, also describes the system 

characteristic of heterogeneity with an additional parameter, 𝑚𝑖 , compared to the 

Langmuir isotherm. The Sips isotherm can be simplified to the Langmuir isotherm 

when m is unity.  

 𝑞𝑖 = 𝑞𝑚,𝑖
(𝑏𝑖𝑃)𝑚𝑖

1+(𝑏𝑖𝑃)𝑚𝑖
  (2-9) 

However, since the Sips isotherm does not accurately show Henry’s law-type 

behaviour, it is not valid at the low-pressure region [283]. 

 

2.4.4 Toth isotherm 

The Toth isotherm involves three parameters proposed empirically to describe the 

adsorbent with sub-monolayer coverage [284]. The Toth isotherm model is described 

with an equation constant, 𝑛𝑖 , that shows the heterogeneity characteristic of the 

system.  
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 𝑞𝑖 = 𝑞𝑚,𝑖
𝑏𝑖𝑃

[1+(𝑏𝑖𝑃)𝑛𝑖]1 𝑛𝑖⁄   (2-10) 

The Toth isotherm can also be reduced to the Langmuir isotherm when 𝑛𝑖=1. However, 

different from the Sips isotherm, the Toth isotherm is satisfied in both low- and high-

pressure regions [283]. 

 

2.4.5 Freundlich isotherm 

The multilayer sorption on the heterogeneous surfaces and the nonideal adsorption 

are commonly described by the Freundlich isotherm [285]. The mathematical 

expression of the Freundlich isotherm is associated with a constant, 𝑘𝐹 , and the 

adsorption process heterogeneity, 𝑛𝑖, which is expressed as follow: 

 𝑞𝑖 = 𝑘𝐹𝑃1 𝑛𝑖⁄   (2-11) 

 

2.4.6 Dual-site Langmuir-Freundlich (DSLF) isotherm 

The dual-site Langmuir-Freundlich (DSLF) model was developed to describe the 

interactions between adsorbed molecules. It overcomes the heterogeneity of 

adsorbent sites exhibited by the Freundlich and Langmuir models [286]. The 

deviations from an ideal homogeneous surface are related to two parameters, 𝑛1,𝑖 and 

𝑛2,𝑖, giving the expression of DSLF as:   

 𝑞𝑖 = 𝑞𝑚𝑏,𝑖
𝑏𝑖𝑃

1 𝑛1,𝑖⁄

1+𝑏𝑖𝑃
1 𝑛1,𝑖⁄ + 𝑞𝑚𝑑,𝑖

𝑑𝑖𝑃
1 𝑛2,𝑖⁄

1+𝑑𝑖𝑃
1 𝑛2,𝑖⁄   (2-12) 

 

2.5 Post-combustion capture for coal-fired power plants 

Separating the CO2 from the flue gas for a conventional power plant by post-

combustion process shows the weakness of an extra energy requirement than the pre-

combustion and oxy-fuel combustion processes due to the low CO2 partial pressure in 

the flue gas. However, the necessary low-level integration with the conventional steam 
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power plant is an advantage of the post-combustion capture process. Hence, the 

retrofit of existing power plants becomes easier [287]. Figure 2-17 shows a general 

schematic of a post-combustion capture process for a power plant, where the CO2 

capture unit is located downstream of the existing gas-cleaning unit. The flue gas 

undergoes a selective catalytic reduction reactor (SCR), an electrostatic precipitator 

(ESP), and a flue gas desulfurisation unit (FGD) in sequence to remove the NOx, dust, 

and sulphur compounds before it enters the CO2 capture unit. Upon successful 

separation of CO2, it undergoes compression and subsequent transportation for 

storage or utilisation in commercial applications, such as enhanced oil and gas 

recovery. Meanwhile, the treated flue gas, now purified, is released into the 

atmosphere.   

 

Figure 2-17 The schematic diagram of a post-combustion carbon capture process for a power plant [287]. 

 

Compared to the pre-combustion and oxy-fuel technologies, only 12-15% CO2 content 

is presented in the flue gas entering the CO2 capture unit, leading to a lower CO2 

partial pressure [288]. During the PSA process, the adsorption occurs at high pressure, 

and the desorption takes place at near atmospheric pressure. During the VSA process, 

adsorption occurs at near-atmospheric pressure, and desorption occurs under 

vacuum pressure. In addition, vacuum pressure swing adsorption (VPSA) is a cyclic 

process alternating between high-pressure adsorption and under-vacuum desorption. 

The P/VSA operates cyclically in a dynamic process with a fixed cycle time, and each 
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adsorption column takes place in the same step sequence. After some cycles, the 

adsorption column reaches the cyclic steady state (CSS), where the conditions at the 

initial and the final of a cycle are identical [289]. Numerous studies have been related 

to CO2 separation from the flue gas since 1992 when the Japanese power industry 

started investigating CO2 capture via adsorption [290]. As an interesting gas 

separation process, the PSA process featuring low energy requirements and low 

capital costs has been widely developed based on the initial invention by Skarstrom in 

the 1960s [99, 291]. Some of the significant improvements of Skarstrom can be 

classified as [292]:  

• Development of co-current depressurisation (CoD) steps  

• Development of pressure equalisation (PE) steps 

• Increasing the bed numbers 

• Adsorption bed with multiple layers of adsorbents.  

 

2.5.1 Skarstrom cycle  

The Skarstrom cycle was initially designed for air drying [291], which is based on 

utilising two packed adsorbent columns consisting of pressurisation, high-pressure 

adsorption, counter-current depressurisation, and low-pressure purge, as shown in 

Figure 2-18. In the first step, the high-pressure feed passes through column 2 from the 

feed end. Meanwhile, the component with more strongly adsorbed affinity is captured 

by the adsorbent, while the enriched, less strongly adsorbed component leaves the 

column from the product end. A fraction of the effluent gas obtained from column 2 

used to purge column 1 enters from the product end, and the rest of the effluent gas 

is withdrawn as the light product. It is noted that the gas composition behind the 

concentration front inside the column is determined by the feed composition during 

adsorption.  

The feed can be stopped once the impurity level of the light product achieved during 

the adsorption step reaches the acceptable limit. As a result, the concentration front 

of the strong adsorbate can breakthrough to a previously assigned limit [293]. Besides, 

the counter-current purge gas prevents the retention of more strongly adsorbed 
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components at the product end, reducing the requirement for purge. On the other hand, 

in the second step, column 2 is depressurised counter-currently for adsorbent 

regeneration, while column 1 is pressurised to the adsorption pressure. When the 

steady state is reached, the distance of the concentration front pushed back during 

the depressurisation and purge steps equals the distance advanced during the 

pressurisation and adsorption steps [293]. Steps 3 and 4 involve the interchange of 

adsorption beds and follow the same step sequence as the first two.  

        

Figure 2-18 Left: The schematic diagram of a basic Skarstrom cycle. Right: The step sequence of the basic 

Skarstrom cycle [293]. 

 

It was reported by Ko et al. [294] that high product purities and low energy costs could 

be achieved for CO2 separation from flue gas via the Skarstrom process equipped with 

zeolite 13X, as demonstrated by the dynamic simulations. Then the same group 

modified this optimisation method [295] to obtain results for more precise cyclic steady 

states. The CO2 recovery and purity were 97.5% and 56.4%, respectively, with a feed 

temperature of 323.15K. Besides, a lower CO2 recovery (94.4%) and a higher CO2 

purity (71.9%) were obtained when the feed temperature was 370.15K.  

Shen et al. [296] tested a single-bed four-step Skarstrom VPSA process using the 

synthesised AC beads to capture CO2 from the binary mixture of CO2/N2 (0.15/0.85) 

at 303 K and atmospheric pressure. With the desorption pressure of 10 kPa, the CO2 

purity and recovery were 48.56% and 55.35%, respectively. Besides, increasing the 
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feed pressure to 202.65 kPa improved CO2 purity and recovery to 57.83% and 75.48%, 

respectively. They have concluded that using the synthesised AC beads may lead to 

a higher cost for CO2 capture via the VPSA process. In contrast, using the same 

Skarstrom configuration and desorption vacuum level to separate CO2 from flue gas 

with zeolite APG IIA as an adsorbent obtained 64.3% CO2 with a recovery of 69% 

[297].  

Luberti et al. [298] developed a two-stage two-bed Rapid Vacuum Pressure Swing 

Adsorption (RVPSA) cycle to capture the CO2 from the flue gas generated by a 

biomass-fuelled CHP plant that contains 13.3% CO2. Both stages were configured with 

the conventional four-step Skarstrom cycles running in parallel. The CO2 purity was 

increased to 55%, with a 98.3% CO2 recovery in the first stage. Then the CO2 purity 

was further increased to 95%, with a slight reduction in CO2 recovery (92.5%) in the 

subsequent second stage. Thus, with the bed productivity of 21.2 mol CO2/kg/h and a 

total specific power consumption of 822.9 kJ/kg CO2, an overall CO2 purity of 95% and 

a CO2 recovery of 90.9% were achieved. 

 

2.5.2 Modified Skarstrom cycle with co-current depressurisation steps or 

heavy reflux  

Modifying the Skarstrom cycle with the addition of a co-current depressurisation or the 

addition of heavy reflux can enhance the purity of heavy products [299]. The co-current 

depressurisation is followed by the high-pressure adsorption step, which reduces the 

column pressure to the specified intermediate pressure. A portion of the heavy 

component is desorbed to fill the interstitial void spaces inside the column, thereby 

increasing the purity of the heavy product [293, 299]. Moreover, the enriched heavy 

product from the counter-current depressurisation, counter-current low-pressure 

purge, or both steps is recovered and sent to the column to replace the residual feed 

inside the column, which is then recycled [293]. This process saturates the adsorption 

column with the heavy component, leading to an improvement in the heavy product 

purity.   
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For example, a single-bed five-step VPSA process includes adsorption, heavy rinse, 

co-current depressurisation, light product purge, and pressurisation for separating CO2 

from the flue gas at 323 K the working pressure between 2-130 kPa was developed 

by Qasem and co-workers [300]. They discovered that increasing the bed diameter 

reduced VPSA performance, while increasing the adsorbent particle size reduced 

power consumption. When the particle size was fixed at 0.001 m with a column length 

of 1 m, the CO2 purity, CO2 recovery, CO2 productivity, and power consumption were 

95.3%, 94.8%, 0.5 kgCO2/h/ (kg MOF), and 68.71 kWh/ (tonne CO2), respectively.  

 

2.5.3 Modified Skarstrom cycle with pressure equalisation (PE) steps 

Introducing the pressure equalisation step improves the performance of the Skarstrom 

cycle [301, 302]. The modified step sequence of operations is shown in Figure 2-19. 

After the first step, two columns are connected via the product end and undergo 

pressure equalisation, as opposed to directly blowing down column 2 and pressurising 

column 1. Thus, column 1 is partially pressurised. Following the pressure equalisation, 

column 1 is pressurised by the feed, while column 2 is vented to complete the 

blowdown, with two columns being disconnected. It is found that pressure equalisation 

can save re-pressurisation energy after the purge step [295] since a fraction of the 

strongly adsorbed amount is consumed when the compressed gas pressurises the 

low-pressure column from the high-pressure column. 

Moreover, the reduced loss from blowdown improves the recovery of raffinate products 

[293]. Yavary et al. [292] reported that more pressure equalisation steps lead to higher 

product recovery, while higher product purity is achieved by reducing the number of 

pressure equalisation steps. They also showed that more pressure equalisation steps 

reduce product loss during a PSA process, and the higher product purity leads to a 

significant amount of product loss.  
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Figure 2-19 The step sequence in a two-column 6-step PSA process  [293]. 

 

Nikolaidis and co-workers [289] simulated two-bed six-step P/VSA processes for post-

combustion CO2 capture from flue gas (15% CO2 and 85% N2), using different 

adsorbents (zeolite 13X, Mg-MOF-74, and AC). Zeolite 13X showed the best process 

performance in terms of both CO2 purity and recovery, while Mg-MOF-74 was a 

potential adsorbent for CO2 capture due to its highest CO2 productivity among the 

three adsorbents. It was indicated from optimisation results that both zeolite 13X and 

Mg-MOF-74 could achieve the minimum requirement of 90% CO2 purity and recovery. 

They also showed that the optimal desorption pressure was affected by the structure 

of the CO2/N2 adsorption isotherm at low pressures and different temperatures. 

Specifically, a lower desorption pressure was required when packing Mg-MOF-74, 

resulting in higher energy requirement than zeolite 13X. For example, at 313 K, the 

optimal energy consumption was 78.7 kJ/molCO2 with a desorption pressure of 2.5 

kPa for zeolite 13X, whereas using Mg-MOF-74 obtained the optimal energy 

consumption of 108.22 kJ/molCO2 with a vacuum level of 1.5 kPa. Later, they 

optimised the same P/VSA processes to minimise energy consumption and meet the 

requirements of 90% CO2 recovery and 95% CO2 purity under different operating 

conditions for zeolite 13X-based adsorbents [303]. At 298 K, the optimal CO2 

productivity was 13.1 mol CO2/kg/h, and the energy consumption was 1 MJ/kgCO2 for 

the original zeolite 13X whereas the modified zeolite 13X obtained a CO2 productivity 

of 10.72 mol CO2/kg/h and an energy consumption of 0.89 MJ/kgCO2. Since a higher 



58 
 

desorption pressure (0.03 bar at 298 K) is needed, the modified zeolite 13X showed a 

lower energy consumption than the original 13X, making it possible to implement in 

industrial practice.   

 

2.5.4 Multi-bed process 

The Skarstrom cycle is improved further by employing multiple adsorbent beds. 

Compared to the Skarstrom cycle, the multi-bed PSA process includes additional co-

current depressurisation and pressure equalisation steps, resulting in improved 

process performances by increasing product purity and recovery [292]. A multi-bed 

PSA process is also advantageous for product recovery because the exhausted gas 

from the depressurisation step purges other columns. The depressurisation is done at 

a pressure level where further equalisation is not required [293].  

Many VPSA processes with different configurations have been investigated to recover 

CO2 from the post-combustion flue gas. For example, a three-bed eight-step VPSA 

consisting of feed pressurisation, adsorption, blowdown, rinse, pressure equalisation, 

evacuation, and light product purge packing with zeolite 13X was developed [304]. 

With the inlet flowrate of 32.9-45.9 Nm3/h, 85-95% of the CO2 has been recovered, 

with a purity of 73-82% under the vacuum level of 7-8 kPa. Na et al. [305] 

demonstrated that obtaining the highly concentrated CO2 via a three-bed eight-step 

PSA with pressure equalisation and product purge steps was possible. The maximum 

CO2 purity was 99.8%, with a recovery of 34%. Chaffee et al. [306] improved the three-

bed six-step VSA cycle consisting of adsorption, pressure equalisation, evacuation, 

and light product pressurisation steps packed with zeolite 13X. Under the vacuum level 

of 5 kPa, the maximum CO2 recovery of 80% was obtained. A similar three-bed nine-

step VSA cycle incorporated with a product purge step can gain a higher product purity 

(90-95%) since purging the column with the product increases the CO2 partial pressure 

inside the column at the beginning of the evacuation step. In addition, Liu and co-

workers [307] developed a three-bed seven-step VPSA with heavy rinse and pressure 

equalisation steps packed with zeolite 5A to capture the CO2 from the flue gas with a 

feed flowrate of 46 Nm3/h. The experimentally results showed that the CO2 recovery 
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and purity were 79% and 85%, respectively, with a total energy consumption of 2.37 

MJ/ (kg CO2).  

Two three-bed six-step PSA processes using zeolite 13X were studied for CO2 

removal from a binary gas mixture (20% CO2, 80% N2) [308]. Process A contained 

three continuous feed steps: evacuation, purge, and product pressurisation. In 

contrast, Process B had one continuous feed step with heavy rinse, blowdown, 

evacuation, light product pressurisation, and feed pressurisation. Compared to 

Process A, Process B showed a better process performance. With the feed pressure 

of 1.5 atm, Process A obtained CO2 purity and recovery of 40% and 46%, respectively, 

while Process B gained 63% and 60%, respectively.  

Several studies concentrated on the two-stage multi-bed VPSA processes for CO2 

capture from the post-combustion flue gas. A pilot-scale two-stage VPSA process 

integrated with the existing coal-fired power plant was demonstrated by Wang et al. 

[309]. The three-bed eight-step VPSA process, consisting of adsorption, blowdown, 

heavy rinse, pressure equalisation, evacuation, purge, and feed pressurisation steps, 

was employed in the first stage, packed with zeolite 13X APG with a feed flowrate of 

35.5-27 Nm3/h. A two-bed six-step VPSA incorporating adsorption, blowdown, heavy 

rinse, pressurisation, and evacuation steps was equipped in the second stage, packed 

with pitched AC beads. They showed that 91.3% of the CO2 was recovered during the 

first stage with a desorption pressure between 7-8 kPa, and the CO2 was concentrated 

from 16.6% to 74.9%. The second stage further enriched the CO2 to 95.5% with a 

vacuum level of 20 kPa, giving the total CO2 purity and recovery for the two-stage 

VPSA of 95.2% and 91.3%, respectively.  

Liu et al. [310] simulated a three-column five-step VPSA unit integrated with a two-

column six-step VPSA unit using zeolite 5A. The CO2 was concentrated from 15% to 

70% during the three-column front unit, then to 96% in the two-column tail unit, yielding 

a productivity of 0.0146 kgCO2/(kgadsh) and energy consumption of 645.7 kJ/kgCO2. 

Riboldi et al. [311] simulated the Advanced Super Critical (ASC) pulverised bituminous 

coal-fired power plant integrated with a two-stage PSA unit for CO2 capture using 

zeolite 5A. As the first stage, the three-bed five-step PSA process consisted of 

adsorption, heavy rinse, evacuation, light product purge, and feed pressurisation. The 

two-bed six-step as second stage included adsorption, pressurisation, pressure 
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equalisation, light product purge, and feed pressurisation. The CO2 was concentrated 

from 14.3% to 93%, with an overall recovery of 90.9%. Ishibashi et al. [312] reported 

that a 1,000 m3N/h scale pilot plant was built for CO2 removal from the power plant 

flue gas packing zeolites through the pressure and temperature swing adsorption 

(PTSA) process. This pilot plant, consisting of a four-bed PTSA unit followed by a four-

bed PSA unit, has operated continuously for 2,000 hours without incident during 

October and December of 1994. The target of achieving 90% CO2 recovery and 99% 

CO2 purity was met with a power consumption of 560 kWh/t-CO2.  

Reynolds et al. [313] demonstrated that adding the light reflux (LR) step to a cycle with 

heavy reflux (HR) improves the process performance. The process performance highly 

depends on the step that produces heavy product gas (HR gas). For example, the five-

bed five-step with LR and HR from the evacuation step gave both CO2 recovery and 

purity of 98.7% with a feed throughput of 5.8 L STP/hr/kg. The lower CO2 recovery 

and purity (71.1% and 96.6%, respectively) were obtained from the five-bed five-step 

with LR and HR from LR purge with a feed throughput of 57.6 L STP/hr/kg. 

 

2.5.5 Other configurations for carbon capture from post-combustion flue 

gas 

Kikkinides and Yang [314] investigated a four-step PSA consisting of adsorption, 

heavy rinse, evacuation, and feed pressurisation packed with AC under a desorption 

pressure of 0.1 atm. The simulation results showed that the CO2 was concentrated 

from 17% to 99.997%, with a recovery of 68.4% at a high feed throughput. Some 

studies reported the four-step PVSA process with either feed pressurisation (FP) or 

light product pressurisation (LPP) for CO2 separation. Rajagopalan and co-worker 

[315] subjected the process-optimisation studies to a single-bed four-step PSA 

process with LPP using three adsorbents (Mg-MOF-74, UTSA-16, and zeolite 13X). 

All three of these adsorbents can achieve the requirement of 90% CO2 purity and 90% 

CO2 recovery at a vacuum level of 3 bar. Haghpanah et al. [316] developed a robust, 

efficient finite volume simulator to optimise the single-column four-step PVSA with feed 

pressurisation. They reported that the minimum energy requirement for achieving the 

90% CO2 purity-recovery constraint was accomplished with a desorption pressure (PL) 
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of 0.02 bar. Furthermore, when the PL was kept between 0.02-0.03 bar, the 

productivity increased up to eightfold, while energy consumption increased at roughly 

half that rate. It was possible to significantly reduce the plant size and capital cost with 

a combination of FP and low PL. Later, Haghpanah et al. [317] optimised the single-

bed four-step with LPP and equipped with zeolite 13X to achieve 90% CO2 purity and 

recovery with the minimum energy consumption of 131 kWh/(tonne CO2 captured) and 

a productivity of 0.57 mol CO2/m3 adsorbent/s. Krishnamurthy et al. [318] 

demonstrated a dual-bed four-step PSA with LPP achieved 94.8 ± 1% CO2 purity and 

89.7 ± 5.6% CO2 recovery under a desorption pressure of 2.2 kPa.  

 

2.6 Objectives of this thesis 

This thesis primarily focuses on the investigation into two industrial processes with 

carbon capture technology. Objective (i) focuses on IGCC process integrated with pre-

combustion CO2 capture, and objective (ii) focuses on conventional coal-fired power 

plants integrated with post-combustion CO2 capture. 

Objective (i): In an integrated gasification combined cycle (IGCC) configuration with 

pre-combustion CO2 capture, it is necessarily to incorporate water-gas shift reactors 

(WGSRs) to covert CO to CO2, to meet the requirement of at least 90% CO2 capture 

efficiency. Note that the sulphur compounds originating from coals, two cohorts of shift 

catalysts available in terms of their resistance of sulphur: sour and sweet catalysts. In 

the sour shift configuration, the sulphur compound is removed after the water-gas shift 

reactions, while in the sweet shift, the desulphurisation occurs before the water-gas 

shift reactor. Simply change the location of the H2S removal step around the shift 

reactors involving a significantly alternations to the associated steam cycle. Most of 

past researchers focused on the pre-combustion IGCC plant with the choice of sour 

shift.  However, there are still several works concentrating on sweet shift. Hence, one 

of the aims of this thesis is to estimate the energy penalty of an exemplary IGCC plant 

integrated with either sour or sweet shift, by designing and evaluating the entire IGCC 

process based on the DOE study [319]. By doing so, the alterations to make in 

developing the pre-combustion capture IGCC processes are addressed, and the net 
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plant efficiency is quantified more accurately. Besides, the size of water-gas shift 

reactors was estimated based on the reaction rate models reported in the literature. 

Objective (ii): In a conventional coal-fired power plant integrated with post-combustion 

adsorption-based CO2 capture process, the selection of solid adsorbent is one of the 

main factors determining the capture performances. Recently, many materials have 

been synthesised and studied regarding their adsorption properties. The 

performances of the adsorption-based P/VSA process packed with these materials, 

on the other hand, have received little attention. Thus, the second objective of this 

thesis is to evaluate various conventional and emerging adsorbents in their 

applications to CO2 separation performance from flue gas via a five-step VSA process. 

The systematically comparison among all the adsorbents are addressed by estimating 

the CO2 recovery and productivity using the equilibrium theory model. Later, the 

combined effect of adsorbents and step sequences is investigated via a two-stage 

VSA process to meet the CO2 capture requirements of 90% CO2 recovery and 90% 

CO2 purity from flue gas. The process is simulated by the gPROMS software with a 

full set of mathematical model equations.  The results will provide insights of the 

adsorption-based CO2 capture process performance of adsorbents in a P/VSA 

process. 
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Chapter 3 Methodology  

 

3.1 Equilibrium theory model 

In an adsorption-based process (i.e., PSA, and VSA), the CO2 separation 

performances are determined by the equilibrium selectivity of different components in 

the feed gas mixture. The equilibrium theory model was firstly derived by Shedalman 

et al. [1] for analysing the heatless adsorption cycle, which was proved as a suitable 

method for predicting the upper capability limit of the adsorption-based separation. 

Knaebel and Hill [2] then applied the local equilibrium model to analyse the 

performance of a complete dual-bed four-step PSA cycle with an uncoupled linear 

isotherm. Later, Kayser and Knaebel [3] developed the analytical solution for a 

conventional PSA process with uncoupled nonlinear isotherms. This thesis is based 

on the Kayser and Knaebel’s model with several assumptions shown below:  

(1) The column operates isothermally.  

(2) The behaviour of gas follows the ideal gas law.  

(3) The axial dispersion, radial variation, and diffusional resistance are neglected.  

(4) The pressure drop along the column is neglected. The pressure is only a 

function of time during pressure-variable steps.  

(5) The N2 isotherms on all the materials are assumed to be linear.  

Since the dissipative effects and mass transfer resistance are negligible, the 

equilibrium theory describes the performances of the P/VSA process reasonably 

well. With above mentioned assumptions, the component mass balances for CO2 

and N2 are given as follows:  

 
𝜕(𝑃𝑦𝐶𝑂2)

𝜕𝑡
+

𝜕(𝑢𝑃𝑦𝐶𝑂2)

𝜕𝑧
+

1−𝜀

𝜀
𝜌𝑠𝑅𝑇

𝜕𝑞𝐶𝑂2

𝜕𝑡
= 0  (3-1) 

 
𝜕(𝑃𝑦𝑁2)

𝜕𝑡
+

𝜕(𝑢𝑃𝑦𝑁2)

𝜕𝑧
+

1−𝜀

𝜀
𝜌𝑠𝑅𝑇

𝜕𝑞𝑁2

𝜕𝑡
= 0 (3-2) 

Where 𝑦𝑖 and 𝑞𝑖 (i= CO2 and N2) are the mole fraction and adsorbed amount of each 

component, respectively; 𝑃 is the total pressure; 𝜀 is the adsorption bed voidage; 𝑢 is 
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the interstitial gas velocity; 𝜌𝑠 is the density of the solid adsorbent; 𝑅 is the ideal gas 

constant, and 𝑇 is the temperature.  

With the fixed temperature, the partial derivatives of the adsorbed amount with time 

are:  

 
𝜕𝑞𝐶𝑂2

𝜕𝑡
=

1

𝑅𝑇
𝑓𝐶𝑂2

′ 𝜕𝑃𝑦𝐶𝑂2

𝜕𝑡
  (3-3) 

 
𝜕𝑞𝑁2

𝜕𝑡
= 𝑘𝑁2

𝜕𝑃𝑦𝑁2

𝜕𝑡
  (3-4) 

Here assuming the independent but arbitrary functions are expressed as 𝑞i = 𝑓𝑖(
𝑃𝑦𝑖

𝑅𝑇
) 

for generality. Substituting Equations 3-3 and 3-4 into Equations 3-1 and 3-2, 

respectively, obtains: 

 
𝜕𝑃𝑦𝐶𝑂2

𝜕𝑡
+ 𝛽𝐶𝑂2

𝜕𝑢𝑃𝑦𝐶𝑂2

𝜕𝑧
= 0  (3-5) 

 
𝜕𝑃𝑦𝑁2

𝜕𝑡
+ 𝛽𝑁2

𝜕𝑢𝑃𝑦𝑁2

𝜕𝑧
= 0 (3-6) 

where 𝛽𝐶𝑂2
=

1

1+
1−𝜀

𝜀
𝑓𝐶𝑂2

′ 𝜌𝑠
 and 𝛽𝑁2

=
1

1+
1−𝜀

𝜀
𝜌𝑠𝑞𝑁2𝑅𝑇

. It is noted that 𝛽𝐶𝑂2 depends on the 

CO2 partial pressure, while 𝛽𝑁2
 is constant and independent of the pressure. Then the 

overall mass balance is obtained by summing Equations 3-5 and 3-6: 

 
1

𝛽𝑁2

𝜕𝑃

𝜕𝑡
+

𝜕𝑢𝑃

𝜕𝑧
+ (

1

𝛽𝐶𝑂2
−

1

𝛽𝑁2

)
𝜕𝑃𝑦𝐶𝑂2

𝜕𝑡
= 0  (3-7) 

Eliminating 
𝜕𝑢

𝜕𝑧
 between Equations 3-5 and 3-7 obtains: 

 
𝜕𝑦𝐶𝑂2

𝜕𝑡
+

𝑢𝛽𝐶𝑂2

1+(𝛽−1)𝑦𝐶𝑂2

𝜕𝑦

𝜕𝑧
=

(𝛽−1)(1−𝑦)𝑦𝐶𝑂2

1+(𝛽−1)𝑦𝐶𝑂2

1

𝑃

𝜕𝑃

𝜕𝑡
  (3-8) 

Solving Equation 3-8 by applying the method of characteristics results in the following 

ordinary differential equations, with 𝛽 =
𝛽𝐶𝑂2

𝛽𝑁2

. It is noted that Equation 3-9 implies the 

characteristic trajectories in the z-t plane, and Equation 3-10 indicates that the 

composition stays constant when the pressure is fixed. 

 
𝑑𝑧

𝑑𝑡
=

𝑢𝛽𝐶𝑂2

1+(𝛽−1)𝑦𝐶𝑂2
   (3-9) 
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𝑑𝑦𝐶𝑂2

𝑑𝑃
=

(𝛽−1)(1−𝑦𝐶𝑂2)𝑦𝐶𝑂2

[1+(𝛽−1)𝑦]𝑃
   (3-10) 

In addition, eliminating 
𝜕𝑃𝑦𝐶𝑂2

𝜕𝑡
 can also by combining Equation 3-5 and 3-7, obtains: 

 
1

𝛽𝑁2

𝜕𝑃

𝜕𝑡
+ (𝛽 − 1)

𝜕(𝑢𝑃𝑦𝐶𝑂2)

𝜕𝑧
+

𝜕(𝑢𝑃)

𝜕𝑧
= 0  (3-11) 

Since the mole fraction determines the displacement of the characteristics, the 

characteristics may develop the shock wave or simple wave inside the column. The 

shock appears when the heavy component presented in the feed is greater than it is 

at the entrance inside the column. A composition shock wave is formed and 

propagated during the pressure-fixed step, such as adsorption and heavy rinse. 

Around the shock front, an expression of the shock velocity (𝑢𝑆𝐻) is written as:   

 𝑢𝑆𝐻 =
𝑑𝑧

𝑑𝑡
|

𝑠
= 𝜃𝐶𝑂2

𝑢2𝑦𝐶𝑂2,2−𝑢1𝑦𝐶𝑂2,1

𝑦𝐶𝑂2,2−𝑦𝐶𝑂2,1
   (3-12) 

Where 𝜃𝐶𝑂2 is defined as: 

 𝜃𝐶𝑂2(𝑃, 𝑦𝐶𝑂2,1, 𝑦𝐶𝑂2,2) =
1

1+
1−𝜀

𝜀

𝑓𝐶𝑂2,2−𝑓𝐶𝑂2,1
𝑦𝐶𝑂2,2−𝑦𝐶𝑂2,1

𝜌𝑝𝑅𝑇

𝑃

   (3-13) 

It is noted that the subscripts 1 and 2 represent the positions in front of and behind the 

shock wave, respectively, and 𝑓𝐶𝑂2,𝑖 = 𝑓𝐶𝑂2,𝑖 (
𝑃𝑦𝐶𝑂2,𝑖

𝑅𝑇
) (𝑖 =1,2).  

 

3.2 Mathematical model of the P/VSA process 

A wide range of mathematical models can be employed to describe the P/VSA 

processes in the gas mixture-porous solids system based on general assumptions. A 

robust and efficient finite-volume-based modelling framework for simulation and 

optimization of cyclic P/VSA operations without any model simplifications was 

proposed by Haghpanah and co-workers [4], which is applied in this study. The 

following basic assumptions have been implemented in the derivation of the model 

equations: 

• The axially dispersed plug flow model describes the bulk fluid flow.  
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• The gas behaviour follows the ideal gas law.  

• The linear driving force (LDF) model describes the mass transfer between the 

solid and gas phases.  

• There are no concentration, temperature, or pressure gradients in the radial 

direction.  

• Ergun’s equation describes the pressure drop along the column.  

• The temperature of the column’s outer surface is kept constant.  

• The adsorbent is packed uniformly inside the column, giving the uniform 

adsorbent physical properties and bed voidage.  

Haghpanah et al. [5] developed a full set of mathematical model equations consisting 

of mass, energy, and momentum balances over a packed bed to predict the adsorption 

column performances with multi-component. The component mass balance is: 

 −
𝜕

𝜕𝑧
(𝐷𝑧

𝜕𝑐𝑖

𝜕𝑧
) +

𝜕𝑐𝑖

𝜕𝑡
+

𝜕(𝑢𝑐𝑖)

𝜕𝑧
+

1−𝜀

𝜀
𝜌𝑠

𝜕𝑞𝑖

𝜕𝑡
= 0  (3-14) 

where 𝑐𝑖 and 𝑞𝑖 correspond to the solid and gas concentration of each component, 

respectively; 𝑢 is the gas interstitial velocity in the axial direction; 𝜀 is the bed voidage; 

𝜌𝑠 is the density of the solid adsorbent, and 𝐷𝑧 is the axial dispersion calculated by: 

   𝐷𝑧 = 0.7𝐷𝑚 + 0.5𝑢0𝑑𝑝 (3-15) 

where 𝑑𝑝 is the diameter of the adsorbent particle, and 𝐷𝑚 is molecular diffusivity that 

is given by Ruthven [6]: 

  𝐷𝑚 =
0.00158𝑇3/2(

1

𝑀1
+

1

𝑀2
)1/2

𝑃𝜎12
2 Ω(

𝜖

𝑘𝑇
)

 (3-16) 

where 𝑀1 and 𝑀2 are the molecular weights of each gas component, and 𝑃 is the total 

pressure. 𝜎 is the collision diameter from the Lennard-Jones potential, expressed as 

𝜎12 =
1

2
(𝜎1 + 𝜎2), and the values of 𝜎𝑖 obtained by Bird et al. [7]. Ω is a function of 

𝜖

𝑘𝑇
, 

where 𝜖 = √𝜖1𝜖2  is the Lennard-Jones force constant estimated by Wilhelm and 

Battino [8] ,and 𝑘 is the Boltzmann constant.  

The overall mass balance that estimates the gas interstitial velocity along the column 

is given as follows: 
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𝜕𝑐𝑡

𝜕𝑡
+

𝜕(𝑢𝑐𝑡)

𝜕𝑧
+

1−𝜀

𝜀
∑

𝜕𝑞𝑖

𝜕𝑡

𝑛
𝑖=1 = 0  (3-17) 

where 𝑐𝑡 is the total concentration.  

The linear driving force (LDF) model describes the mass transfer between the solid 

and gas phases, expressed as: 

 
𝜕𝑞𝑖

𝜕𝑡
= 𝑘𝐿𝐷𝐹,𝑖(𝑞𝑒𝑞,𝑖 − 𝑞𝑖)  (3-18) 

where 𝑞𝑒𝑞,𝑖 is the equilibrium concentration in the solid phase, depended on the gas 

concentration and temperature. 𝑘𝐿𝐷𝐹,𝑖  is the LDF constant of each component 

calculated by the following equation, assuming the molecular diffusion in the 

macropores controls the mass transfer.  

 𝑘𝐿𝐷𝐹,𝑖 =
𝑐𝑖

𝑞𝑒𝑞

15𝜀𝑝𝐷𝑒𝑖

𝑟𝑝
2  (3-19) 

where 𝜀𝑝 and 𝑟𝑝 are the adsorbent particle porosity and radius, correspondingly. 𝐷𝑒,𝑖 

is the effective macropore diffusivity, determined by both molecular diffusivity (𝐷𝑒,𝑖) 

and Knudsen diffusivity (𝐷𝑘,𝑖), expressed as: 

 𝐷𝑒,𝑖 =
𝜀𝑝

𝜏𝑝

𝐷𝑚𝐷𝑘,𝑖

𝐷𝑚+𝐷𝑘,𝑖
 (3-20) 

The Knudsen diffusivity is given by Ruthven [6] expressed as: 

 𝐷𝑘,𝑖 = 9700𝜇𝑚√
𝑇

𝑀𝑖
 (3-21) 

where 𝜇𝑚 is the mean pore radius.  

The energy balance is composed of the axial convection, axial dispersion, conduction 

along the column wall, and the heat transfer between the adsorption bed and column 

wall, expressed as: 

[𝐶𝑝𝑔𝜌𝑔 +
1−𝜀

𝜀
(𝐶𝑝𝑠𝜌𝑠 + 𝐶𝑝𝑎 ∑ 𝑞𝑖

𝑛
𝑖=1 𝜌𝑠)]

𝜕𝑇

𝜕𝑡
− 𝑘𝑧

𝜕2𝑇

𝜕𝑧2 + 𝐶𝑝𝑔𝜌𝑔𝑢
𝜕𝑇

𝜕𝑧
−

1−𝜀

𝜀
∑ (𝐻𝑎𝑑𝑠,𝑖

𝜕𝑞𝑖

𝜕𝑡
) +𝑛

𝑖=1

2ℎ𝑖𝑛

𝜀𝑅𝑖𝑛
(𝑇 − 𝑇𝑤) = 0    (3-22) 
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where 𝐶𝑝𝑔 , 𝐶𝑝𝑠  and 𝐶𝑝𝑎  correspond to the heat capacities of the gas phase, solid 

phase, and adsorbed phase, respectively; 𝜌𝑔 is the gas density; 𝑘𝑧 is the axial thermal 

conductivity; ℎ𝑖𝑛 is the inside heat transfer coefficient; 𝑅𝑖𝑛 is the inner column radius; 

𝑇𝑤 is the temperature of the column wall, and 𝐻𝑎𝑑𝑠,𝑖 is the heat of adsorption of each 

component defined as: 

 
−𝐻𝑎𝑑𝑠,𝑖

𝑅𝑇
=

𝜕𝑙𝑛𝑃𝑖

𝜕𝑇
= −

1

𝑃𝑖

𝜕𝑞 𝜕𝑇⁄

𝜕𝑞 𝜕𝑃𝑖⁄
  (3-23) 

The heat transfer between the column wall and ambient air is expressed as: 

 𝜌𝑤𝐶𝑝𝑤
𝜕𝑇𝑤

𝜕𝑡
− 𝑘𝑤

𝜕2𝑇𝑤

𝜕𝑧2 − 2𝑅𝑖𝑛ℎ𝑖𝑛
𝑇−𝑇𝑤

𝑅𝑜𝑢𝑡
2 −𝑅𝑖𝑛

2 + 2𝑅𝑜𝑢𝑡ℎ𝑜𝑢𝑡
𝑇𝑤−𝑇𝑎

𝑅𝑜𝑢𝑡
2 −𝑅𝑖𝑛

2 = 0  (3-24) 

where 𝜌𝑤 is the wall density; 𝐶𝑝𝑤 is the heat capacity of the column wall; 𝑘𝑤 is the 

thermal conductivity of the column wall; 𝑅𝑜𝑢𝑡 is the outer column radius; ℎ𝑜𝑢𝑡 is the 

outside heat transfer coefficient, and 𝑇𝑎 is the ambient temperature.  

Finally, the momentum balance is simplified into Ergun’s equation to estimate the 

pressure drop along the column, expressed as:  

 −
𝑑𝑃

𝑑𝑧
=

150𝜇𝑢(1−𝜀)2

𝑑𝑝
2𝜀2 +

1.75(1−𝜀)𝜌𝑔𝑢|𝑢|

𝑑𝑝𝜀
   (3-25) 

where 𝜇 is the viscosity of the gas mixture and 𝑑𝑝 is the particle diameter.  

During the pressure change steps, the change of column pressure at the column end 

with time is determined by a linear differential equation expressed as [9]: 

 
𝑑𝑃

𝑑𝑡
= 𝛼(𝑃𝑐 − 𝑃)  (3-26) 

Where 𝑃𝑐  is the high, intermediate, or purge pressure depending on the operating 

conditions and step sequence, and the rate of pressure changes inside the column is 

described by 𝛼. 
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Chapter 4 The implications of choice between sour and sweet 

shift on process design and operation of an IGCC power plant 

integrated with a dual-stage Selexol unit 

This chapter was published in Energy (https://doi.org/10.1016/j.energy.2019.02.085).  

 

4.1 Introduction 

In designing an IGCC power plant integrated with pre-combustion capture, it is 

essential to include WGSRs (Water-Gas Shift Reactors) to convert CO to CO2 so that 

the following CO2 capture unit can achieve at least 90% capture efficiency. Essentially, 

two different cohorts of shift catalysts are available concerning their resistance to 

sulphur, that is, sour and sweet shift catalysts. Given the fact that the IGCC syngas 

contains sulphur compounds originating from coals, the syngas has to be cleared of 

the sulphur species to protect the sweet shift in decarbonising an IGCC. It was claimed 

that sweet shift would not generally be taken for coal gasification applications due to 

a greater inefficiency from cooling the syngas before the sulphur removal [1]. Most 

researchers integrated IGCC design with pre-combustion capture centred upon sour 

shift as shown in Table 4-1. However, as shown in Tables 4-2, the sweet shift has 

gained less attention.  

This chapter aimed to design and evaluate two process configurations of an IGCC 

plant integrated with a dual-stage Selexol unit, in which one is based on the sour shift 

and the other is equipped with the sweet shift. The design of the entire IGCC process 

was based on the DOE study [2]. Incorporating water-gas shift reactors consuming 

vast amounts of shift steam into an IGCC involves significant alternations to the 

associated steam cycle, in addition to simply changing the location of the H2S removal 

step around the shift reactor. By doing so, it was possible to identify which alternations 

to make in designing the pre-combustion capture IGCCs depending on the sweet or 

sour shift and quantify the net plant efficiency more accurately. In addition, the sizes 

of the shift reactors are to be estimated based on the reaction rate models reported in 

the literature.  

https://doi.org/10.1016/j.energy.2019.02.085
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Table 4-1 Summary of past research on designing an IGCC integrated with sour shift for carbon capture. 

Cormos et al. [3] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 1053.00 1177.70 127.70 - 

Power Summary, MW  

Gas turbine power 334.00 334.00 0.00 3.36% 

Steam turbine power 183.60 200.14 16.54 0.44% 

Syngas expander 1.48 0.78 -0.70 0.07% 

Total power generation 519.08 534.92 15.84 3.87% 

Total auxiliaries 75.18 112.99 37.81 2.45% 

Net power 443.90 421.93 -21.97 6.33% 

Net power plant efficiency (LHV) 42.2% 35.8% - - 

Padurean et al. [4] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 1052.97 1177.7 124.86 - 

Power Summary, MW  

Gas turbine power 334.00 334.00 0.00 3.36% 

Steam turbine power 184.32 195.24 10.92 0.93% 

Syngas expander 1.48 0.55 -0.93 0.09% 

Total power generation 519.80 52979 9.99 4.39% 

Total auxiliaries 75.08 104.82 29.74 1.77% 

Net power 444.72 424.97 -19.75 6.15% 

Net power plant efficiency (LHV) 42.23% 36.08% - - 
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Summary of past research on designing an IGCC integrated with sour shift for carbon capture (continued). 

Cormos et al. [5] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 1040.88 1166.98 126.00 - 

Power Summary, MW  

Gas turbine power 334.00 334.00 0.00 3.46% 

Steam turbine power 186.92 197.50 10.58 1.03% 

Syngas expander 0.88 0.78 -0.10 0.02% 

Total power generation 521.80 532.28 10.48 4.51% 

Total auxiliaries 72.83 111.87 39.04 2.59% 

Net power 448.97 420.41 -28.56 7.10% 

Net power plant efficiency (LHV) 43.13% 36.03% - - 

Huang et al. [6] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 953.3 1066.80 113.50 - 

Power Summary, MW  

Gas turbine power 286.00 286.00 0.00 3.19% 

Steam turbine power 192.40 175.60 -16.80 3.72% 

Syngas expander 0.00 0.00 0.00 0.00% 

Total power generation 478.40 461.60 -16.80 6.91% 

Total auxiliaries 61.31 94.01 32.70 2.38% 

Net power 417.09 367.59 -49.50 9.29% 

Net power plant efficiency (LHV) 43.75% 34.46% - - 
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Summary of past research on designing an IGCC integrated with sour shift for carbon capture (continued). 

Prins et al. [7] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 2166.30 2610.00 443.70 - 

Power Summary, MW  

Gas turbine power 720.60 816.60 96.00 1.98% 

Steam turbine power 475.20 525.60 50.40 1.80% 

Syngas expander 0.00 0.00 0.00 0.00% 

Total power generation 1195.80 1342.20 146.40 3.77% 

Total auxiliaries 145.10 259.90 114.80 3.26% 

Net power 1050.70 1082.30 31.60 7.03% 

Net power plant efficiency (LHV) 48.50% 41.47% - - 

 

 

Table 4-2 Summary of past research on designing an IGCC with sweet shift for carbon capture. 

Huang et al. [6] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 953.30 1066.80 113.50 - 

Power Summary, MW  

Gas turbine power 286.00 286.00 0.00 3.19% 

Steam turbine power 192.40 160.90 -31.50 5.10% 

Syngas expander 0.00 0.00 0.00 0.00% 

Total power generation 478.40 446.90 -31.50 8.29% 

Total auxiliaries 61.31 94.33 33.02 2.41% 

Net power 417.09 352.57 -64.52 10.70% 

Net power plant efficiency (LHV) 43.75% 33.05% - - 
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Summary of past research on designing an IGCC with sweet shift for carbon capture (continued). 

Descamps et al. [8] 

Plant performance IGCC only IGCC+CCS 
Energy 

change 

Energy 

penalty 

Thermal input, MW 725.80 847.90 122.10 -- 

Power Summary, MW  

Gas turbine power 188.30 211.50 23.20 1.00% 

Steam turbine power 152.00 135.80 -16.20 4.93% 

Syngas expander 0.00 0.00 0.00 0.00% 

Total power generation 340.30 347.30 7.00 5.93% 

Total auxiliaries 24.60 53.90 29.30 2.97% 

Net power 315.70 293.40 -22.30 8.89% 

Net power plant efficiency (LHV) 43.50% 34.60% - - 

 

4.2 Process configuration studies  

4.2.1 Sour shift case 

The sour shift configuration was reproduced following the US DOE’s work [2], in which 

the design basis was detailed.
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Figure 4-1 Gas stream flow of the gasification and syngas processing sections: sour shift case.
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As shown in Figure 4-1, the coal slurry is pumped into the gasifier with oxygen, where 

gasification occurs rapidly. The raw fuel gas, consisting of H2, CO2, CO, H2O, H2S, 

and small quantities of COS, leaves the chamber near the gasification temperature. 

Hot fuel gas is quenched by passing through the heat recovery exchanger, where the 

heat is recovered to produce high- and intermediate-pressure steams. During the 

quench, most of the particulates and ammonia are removed. The remaining solids and 

ammonia are further removed by passing through the scrubber. Then the gas is mixed 

with high-pressure steam and undergoes the water-gas shift (WGS) process, where 

CO and H2O are converted to H2 and CO2 in stoichiometry with the existence of a 

catalyst, as shown in Equation 4-1, to achieve the requirement of 90% overall CO2 

capture rate. 

 𝐻2𝑂 + 𝐶𝑂 ↔ 𝐻2 + 𝐶𝑂2  (4-1) 

During WGS reactions, a large amount of steam is required to maintain the high CO 

conversion, the high reactor temperature, and the activity of the catalyst bed by 

avoiding carbon deposition. The WGS process comprises two reactors: a high-

temperature shift reactor (HTSR) and a low-temperature shift reactor (LTSR). The 

HTSR mainly converts bulk CO to CO2 at 310 ºC, while the LTSR further reduces the 

CO content to less than 2 vol.% on a dry gas basis at 270 ºC.  Since the WGS reaction 

is exothermic, the increasing temperature reduces the equilibrium constant, resulting 

in a low CO conversion. Before entering the LTSR, a heat exchanger controls the gas 

temperature while the intermediate-pressure steam is generated. Both H2S and CO2 

are captured as purified product streams in a dual-stage Selexol process, where H2S 

is sent to the Claus unit for sulphur recovery, and CO2 is sent to the compression unit. 

Table 4-3 provide additional information about each stream in the sour shift.  

After the acid gas removal unit, the clean syngas is sent to the combined cycle power 

island, which consists of three main parts: the gas turbine, the steam turbine, and the 

heat recovery steam generator (HRSG), as shown in Figure 4-2. The clean syngas is 

sent to the gas turbine to generate electrical power. Then the exhaust gas passes 

through the HRSG to produce the steam used to drive the steam turbines to produce 

more electrical power. In configuring an IGCC plant, selecting a specific type of gas 

turbine is essential first. This study is based on two Advanced F-class gas turbines to 

generate 464 MW of power in total. The firing temperature of the combustion chamber 
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was controlled within the temperature range of 1,318-1,327ºC, with a pressure ratio of 

18.5. The net efficiency of the gas turbine was 57.5% (LHV), equivalent to a net heat 

rate of 6,256 kJ/kWh (LHV). Pressure levels in HP/IP/LP sections are 12.5/2.9/0.45 

MPa, respectively.  

In both sour and sweet shift cases, the HRSGs undergo around 533 MW of heat 

transfer between the hot and cold streams. The hot and cold composition curves are 

presented in Figure 4-2. 

 

Figure 4-2 Hot and Cold composite curves of HRSG of (a) sour shift case and (b) sweet shift case.
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Table 4-3 The temperature, pressure, molar flowrate, and mole fraction of each stream obtained from the simulation in sour case. 

Stream No. 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 

T [°C] 1601 1424 408 343 266 209 43 204 298 399 310 527 270 317 239 

P [kPa] 4238 4169 4031 3962 3893 3893 3893 3756 3756 5688 3756 3756 3652 3652 3569 

Flowrate (× 103) [kmol/h] 19.1 19.1 35.6 35.6 35.6 16.6 19.1 6.82 7.2 19.4 19.4 19.4 19.4 18.4 1.05 

Mole fraction (× 10−3) 

Argon 9.7 9.7 9.7 9.7 9.7 9.7 9.7 0 0 9.5 9.5 9.5 9.5 10.1 0 

Methane 0.4 0.4 0.4 0.4 0.4 0.4 0.4 0 0 0.4 0.4 0.4 0.4 0.4 0 

CO 572 572 572 572 572 572 572 0.1 0.1 560.8 560.8 560.8 560.8 592.9 0.3 

CO2 21.1 21.1 21.1 21.1 21.1 21.1 21.1 0.1 0.1 20.7 20.7 21.4 21.4 22.6 0.3 

COS 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0 0 0.7 0.7 0 0 0 0 

H2 289.9 289.9 289.9 289.9 289.9 289.9 289.9 0 0 284.2 284.2 284.2 284.2 300.5 0.6 

H2O 36.4 36.4 36.4 36.4 36.4 36.4 36.4 996.0 996.2 55.3 55.3 54.6 54.6 2.3 968.7 

H2S 8.1 8.1 8.1 8.1 8.1 8.1 8.1 0.1 0.1 8.0 8.0 8.6 8.6 9.1 0.4 

N2 57.4 57.4 57.4 57.4 57.4 57.4 57.4 0 0 56.3 56.3 56.3 56.3 59.5 0 

Ammonia 3.3 3.3 3.3 3.3 3.3 3.3 3.3 3.6 3.4 3.2 3.2 3.2 3.2 1.7 29.7 

O2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

Carbon 0 0 0 0 0 0 0 0 0 0 0 0 - - - 

Sulphur (Rhombic) 0 0 0 0 0 0 0 0 0 0 0 0 - - - 

Cl2 0 0 0 0 0 0 0 0 0 0 0 0 - - - 

HCl 0.9 0.9 0.9 0.9 0.9 0.9 0.9 0 0 0.9 0.9 0.9 0.9 1 0 

SO2 - - - - - - - - - - - - 0 0 0 
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The temperature, pressure, molar flowrate, and mole fraction of each stream obtained from the simulation in sour case (continued). 

Stream No. 16 17 18 19 20 21 22 23 24 25 26 27 28 29 30 

T [°C] 191.2 154 148 148 148 147 93 35 35 35 132 237.8 87 26 28 

P [kPa] 3569 3500 3500 3496 3496 3396 3396 3396 3323 3323 8274 8274 166 3238 345 

Flowrate (×103) [kmol/h] 40.5 40.5 40.5 33.5 6.98 33.5 33.5 33.5 4.74 28.8 16.5 16.5 0.402 21.4 10.4 

Mole fraction (× 10−3) 

Argon 4.6 4.6 4.6 5.5 0 5.5 5.5 5.5 0 6.4 0 0 0 10.3 0 

Methane 0.2 0.2 0.2 0.2 0 0.2 0.2 0.2 0 0.3 0 0 0 0.3 0 

CO 12 12 12 14.5 0 14.5 14.5 14.5 0 16.9 0 0 0.3 26.5 1.1 

CO2 267 267 267 322.4 1.3 322.4 322.4 322.4 0.6 375.4 0 0 517.8 24.3 973.9 

COS 0.3 0.3 0.3 0.4 0 0.4 0.4 0.4 0 0.5 0 0 0 0 0 

H2 393.5 393.5 393.5 475.5 0 475.5 475.5 475.5 0 553.9 0 0 13.9 877.8 18.5 

H2O 289.5 289.5 289.5 142.0 997.2 142.0 142.0 142.0 991.0 2.2 1000 1000 86.1 0.3 5.4 

H2S 3.8 3.8 3.8 4.6 0.1 4.6 4.6 4.6 0 5.4 0 0 381.6 0 0 

N2 27.0 27.0 27.0 32.6 0 32.6 32.6 32.6 0 38.0 0 0 0.3 60.3 1.1 

Ammonia 1.6 1.6 1.6 1.6 1.3 1.6 1.6 1.6 8.4 0.5 0 0 0 0 0 

O2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

Carbon 0 0 0 0 0 0 0 0 0 0 - - - - - 

Sulphur (Rhombic) 0 0 0 0 0 0 0 0 0 0 - - - - - 

Cl2 0 0 0 0 0 0 0 0 0 0 - - - - - 

HCl 0.4 0.4 0.4 0.5 0 0.5 0.5 0.5 0 0.6 0 0 0 0 0 

SO2 - - - - - - - - - - 0 0 0 0 0 
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Figure 4-3 Steam cycle design: sour shift case. 
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already contains a great deal of steam when it leaves the water scrubber operating at 

a high temperature. In this study, the targeted CO conversion rate was 95.5%, so the 

ensuing Selexol process could easily achieve 90+% carbon capture efficiency.  

Table 4-4 Details of the raw syngas flowing into the shift reactor before shift steam addition in both sour and 

sweet shift cases were obtained from the simulation. 

 Sour shift case Sweet shift case 

Temperature [ºC] 298 223 

Pressure [kPa] 3756 3750 

Molar flowrate [kmol/s] 9.8 5.4 

Molar fraction   

CO 0.3096 0.5555 

H2O 0.4784 0.0002 

CO2 0.0114 0.0913 

H2 0.1569 0.2870 

N2 0.0311 0.0562 

H2S 0.0044 trace 

Ar 0.0053 0.0095 

CH4 0.0002 0.0004 

 

Given the syngas composition in Table 4-4, it is possible to estimate the amount of 

steam that the syngas must contain to achieve the CO conversion efficiency of 95.5%, 

given the equilibrium constant, 𝐾𝑒, as follows [10]: 

 𝐾𝑒 = 𝑒
4577.8

𝑇
−4.33

  (4-2) 

Assuming the syngas would leave the LTS (Low-Temperature Shift) reactor at around 

317ºC, the equilibrium constant was estimated at approximately 31 by Equation 4-2. 

To achieve the Ke value at 95.5% CO conversion rate, the required amount of steam 

has to be 6.1 kmol/s, while the flowrate of steam contained in the syngas is only 4.7 

kmol/s. Accordingly, approximately 1.4 kmol/s of steam has to be sourced and added 

to the syngas. To this end, the IP BFW is preheated by recovering the heat of the hot 

raw syngas after HP steam generation (stream 4 in Figure 4-1). The hot IP BFW turns 

IP steam by recovering the exothermic heat of WGSR at the intercooler after that. The 



116 
 

amount of IP steam produced in situ is more than enough to provide the additional 

shift steam required for sour shift. Figure 4-2 shows that the IP steam is split into three 

streams. The second steam is sent to the gasifier at a fixed flowrate, and the rest is 

directed to the HRSG for power generation.  

After the syngas is shifted, it is cooled down to 35ºC at which the dual-stage Selexol 

process (DS Selexol) operates. In both the sour and sweet shift cases, the 

performance targets that the acid gas removal unit has to achieve were set identically, 

as follows:  

• 90% carbon capture efficiency 

• 99.9+% H2S recovery 

• 98.5+% H2 recovery 

• 97+% CO2 product purity 

The Selexol solvent can absorb H2S more strongly than CO2, with the selectivity of 

H2S over CO2 around 9 [11]. As shown in Figure 4-1, firstly, the syngas enters the H2S 

absorber, where its H2S is absorbed by the CO2-laden solvent originating from the CO2 

absorber. The H2S-laden solvent leaving the absorber contains a significant amount 

of CO2 and H2S. The CO2 has to be stripped off the solvent before the solvent is 

regenerated thermally in the ensuing steam stripper. Otherwise, the sour gas would 

contain a vast amount of CO2 and H2S, making it very hard to achieve the stringent 

target of carbon capture efficiency. To this end, removing the CO2 from the solvent 

was carried out by a H2S concentrator (gas stripping), followed by flash evaporation 

(depressurisation). By doing so, it was possible to direct most of the CO2 contained in 

the solvent to the CO2 absorber, facilitating such a high carbon capture efficiency. 
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Table 4-5 Plant performances of decarbonised IGCCs and their comparison with the reference studies. 

 

Non-capture 

(DOE case 

5 [2]) 

Sour shift 

(DOE case 

6 [2]) 

Sour shift 

(This study) 

Sweet shift 

(This study) 

Thermal input (HHV) [MW] 1547.5 1617.8 1617.8 1617.8 

WGSR CO conversion - 95.6% 95.5% 95.5% 

H2 recovery at DS Selexol N/A N/A 98.8% 98.5% 

H2S recovery 99.5% 99.7% 99.9+% 99.9+% 

CO2 capture efficiency at 
the CO2 absorber - N/A 96.7% 96.2% 

Overall carbon capture - 90.0% 89.9% 90.0% 

Steam-to-CO ratio - 2.00 2.03 2.16 

Power [MW]  

HP turbine - - 44.5 61.2 

IP turbine - - 73.6 64.1 

LP turbine - - 104.9 94.7 

ST power total 284.0 229.9 222.9 220.0 

GT power 464.0 464.0 464.0 464.0 

Total power generation 748.0 693.9 686.9 684.0 

AGR auxiliaries - 15.5 21.6 18.6 

Other auxiliaries 112.2 132.9 132.8 132.1 

CO2 compression - 28.1 32.9 34.4 

Total auxiliary power 112.2 176.4 187.4 185.1 

Net power 635.8 517.1 499.5 498.9 

Net plant efficiency 41.1% 32.0% 30.9% 30.8% 

 

In the CO2 absorber, the CO2 in the feed is selectively absorbed by two solvent 

streams: one is the lean solvent generated at the steam stripper, effectively containing 

no CO2 in it, and the other is the semi-lean solvent originating from the flash drums, 

which is less regenerated than the lean solvent. According to the previous studies [12-

14], it is crucial to increase the flowrate of the lean solvent flowrate rather than the 

semi-lean solvent if such a high carbon capture efficiency as 95% is targeted (high 

lean case). But there exists a maximum flowrate that the lean solvent cannot exceed. 
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If too much CO2-laden solvent was sent to the H2S absorber, it would not be possible 

to recover sufficient CO2 and return it to the CO2 cycle. Meanwhile, increasing the 

semi-lean solvent without increasing the lean solvent (low lean case) can achieve 90% 

carbon capture efficiency. In other words, the minimum flowrate of the CO2-laden 

solvent required to remove 99.9+% H2S is found, and the stream becomes the lean 

solvent after being regenerated thermally. In a low-lean case, the total flowrate of the 

circulating Selexol solvent would be higher, but it would be easier to return the CO2 

carried by the CO2-laden solvent to the CO2 removal section. The total energy 

consumption of the two scenarios was estimated to be comparable.  

The net plant efficiency of the IGCC integrated with DS Selexol and the sour shift was 

estimated by process simulation using Honeywell UniSim. Table 4-6 shows that the 

energy penalty incurred by carbon capture integration was around 10.2%. The energy 

penalties at the steam turbine and the auxiliaries were 4.6% and 4.3% points, 

respectively (Table 4-6). It should be noted that the increase in the power consumption 

at the auxiliaries was mainly due to the addition of CO2 capture and compression. The 

reduction in the steam turbine power generation by carbon capture integration was 

mainly due to the significant difference in the amounts of HP steam generated at the 

syngas cooling stage immediately after the gasifier. According to the DOE study [2], 

water quenching was used to ensure that the raw syngas contained a large amount of 

steam so that resulting sour shift reactors do not require a large amount of steam. To 

this end, quenching the raw syngas by adding water is followed by the syngas cooler 

and the syngas scrubber operating deliberately at a high temperature (200ºC), 

compared to 110ºC in the non-capture case. The higher the temperature of the syngas 

scrubber, the more steam the syngas can contain [15]. After the syngas quenching, 

the syngas temperature falls to 408ºC, so the amount of HP steam generated by the 

syngas cooler is very limited.  
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Table 4-6 Plant performances of decarbonised IGCCs based on the sour and sweet shift in this study. 

Plant performance 

[MW] 

Non-capture 

case (DOE 

case 5 [2]) 

Sweet shift Sour shift 

Values 
Energy 

change 

Energy 

penalty 
Values 

Energy 

change 

Energy 

penalty 

Thermal input 1547.5 1617.8 70.3 - 1617.8 70.3 - 

GT power 464.0 464.0 0.0 1.30% 464.0 0.0 1.30% 

ST power 284.0 222.0 -62.0 4.63% 222.9 -61.1 4.57% 

Total auxiliaries 112.2 185.1 72.9 4.20% 187.4 75.3 4.34% 

Net power 635.8 498.9 -136.9 10.24% 499.5 -136.3 10.20% 

Net power plant 
efficiency (HHV) 

41.1% 30.8% - - 30.9% - - 

 

4.2.2 Sweet shift case 

Depending on the position of the H2S removal unit, WGS reactions can be configurated 

in either the sour or sweet shifts. In this case, sweet catalysts replaced the sour 

catalysts, which required rearranging the DS Selexol unit and shift reactors to place 

shift reactors between desulphurisation and CO2 removal. Figure 4-4 shows how 

differently the major units consisting of an IGCC are configured depending on the 

choice between a sour or a sweet shift. However, this seemingly simple change also 

requires other units to be modified.  

 

 

Figure 4-4 Block flow diagram of pre-combustion capture IGCCs configured based on either sweet or sour shift.  
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syngas enters the low-temperature H2S absorber directly before entering the shift 

reactors. The syngas does have to contain some water for COS hydrolysis, but the 

required amount of steam must be very small, considering the tiny amount of COS in 

it. In this respect, quenching is no longer needed. The process configuration around 

the gasifier reverts to what was initially designed for the non-capture case, in which it 

aimed to generate as much HP steam as possible by heat recovery. The syngas 

cooling section consists of two heat exchangers for HP steam generation followed by 

IP BFW heating as is in the sour shift cases. The heat duty available in the syngas 

cooling was distributed over the two heat exchangers by estimating the heat duty at 

the IP BFW preheater first. The flowrate of the IP BFW to be preheated can be 

determined by the amount of heat available at the intercooler of the shift reactor in 

which the IP BFW is to be boiled.  

After syngas scrubbing, the syngas is slightly heated by hot HP BFW and then fed to 

COS hydrolysis in the same way as the syngas is processed in the non-capture case. 

Then the syngas is cooled down to 35ºC at which the H2S absorber operates. In the 

H2S absorber, the H2S syngas is absorbed selectively by the Selexol solvent 

originating from the CO2 absorber. However, the syngas in the sweet shift case is very 

different from that in the sour shift case with respect to the composition. In the sour 

shift case, the syngas contains a great amount of CO2 (45 vol.%) as a result of the 

shift reaction. 

On the contrary, the syngas in the sweet shift case contains a relatively low amount of 

CO2 (3 vol.%). Accordingly, when the CO2-deficient syngas contacts the CO2-laden 

solvent in the H2S absorber, the CO2 dissolved in the solvent is stripped off by the 

syngas. In other words, the H2S absorber works to absorb the H2S from the syngas 

and, at the same time, strip off the CO2 from the solvent, transferring a significant 

amount of CO2 from the solvent to the syngas. In turn, it is possible to restrict the CO2 

slip into the sour gas without having a separate H2S concentrator, as shown in Figure 

4-5.
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Figure 4-5 Gas stream flow of the gasification and syngas processing sections: sweet shift case.
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However, the augmented amount of CO2 in the syngas stream after H2S removal 

adversely affects the subsequent shift reaction concerning the reaction equilibrium. 

After the gas feed picks up CO2 upstream of the WGSR, achieving the targeted CO 

conversion rate becomes harder. The greater the amount of CO2 the syngas contains, 

the more shift steam has to be added to achieve the targeted CO conversion rate. In 

addition, as shown in Table 4-4, the syngas leaving the H2S absorber is still at a low 

temperature containing much less water vapour than the syngas feed flowing into the 

sour shift reactor in which it has a significant amount of steam.   

The amount of CO2 being transferred from the CO2-laden solvent to the syngas in the 

H2S absorber is highly affected by the flowrate of the CO2-laden solvent to the H2S 

absorber. Increasing the solvent flowrate around the H2S cycle would make achieving 

a very high CO2 capture rate easier, as the pinch point is to be formed around the top 

of the CO2 absorber to which the CO2-free Selexol is admitted [14]. Table 4-7 list the 

detailed stream information related to Figure 4-5.  

The targeted carbon capture efficiency of 90% could be achieved by changing the ratio 

of the flowrate of CO2-free solvent originating from the steam stripper to the flowrate 

of the semi-lean solvent from the flash drums. As explained above, increasing the 

CO2-free solvent flowrate would facilitate reaching 90% carbon capture efficiency, as 

the solvent admitted to the absorber on top can absorb more CO2 than the semi-lean 

solvent entering the column in the middle. Hence, the flowrate of the CO2-laden solvent 

flowing from the CO2 absorber to the H2S absorber has to be increased. In turn, it is 

inevitable to see the syngas pick up more CO2 from the solvent in the H2S absorber 

with the increasing CO2-laden solvent flowrate. More shift steam would have to be 

added to the syngas to achieve the targeted CO conversion rate. As discussed in [9], 

WGSRs often account for the most significant energy penalty in integrating IGCC with 

carbon capture. In this respect, it is crucial to maintain the usage of shift steam as low 

as possible to reduce the energy penalty overall. As a result, the low lean case was 

chosen to minimise the flowrate of the CO2-laden solvent to the H2S absorber.  

Assuming the same equilibrium constant of 31 at the outlet of the LT shift reactor, it is 

also possible to estimate the steam flowrate required to achieve the same 95.5% CO 

conversion rate by mass balance. When leaving the H2S absorber, the syngas 

contains a negligible amount of water vapour at 0.0008 kmol/s, while the required total 
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steam flowrate amounts to 6.5 kmol/s, 0.4 kmol/s greater than the flowrate in sour shift 

case due to the sweet syngas containing more CO2 than the syngas in the sour shift 

case. Therefore, a vast amount of steam has to be added to the syngas. 

Several changes were made to the sour shift case to source the shift steam. In the 

sour shift case, the IP steam generated by heat recovery at the intercooler between 

two shift reactors is split into three sub-streams, as shown in Figure 4-2. The first two 

streams are used as the diluent of the gasifier and the shift stream, respectively. And 

the rest of it is sent to the HRSG, where it is superheated for power generation. In the 

sweet shift case, the portion of the shift steam has to be maximised to compensate for 

the greater demand for shift steam, indicating that no steam is available for power 

generation anymore (Figure 4-6).
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 Table 4-7 The temperature, pressure, molar flowrate, and mole fraction of each stream obtained from the simulation in sweet case. 

Stream No. 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18 

T [°C] 1601 1424 898 316 230 246 230 139 42 117 177 177 35 35 35 30 223 365 

P [kPa] 4238 4238 4238 4031 3893 4240 3893 3893 3893 3756 3576 3756 3756 3756 3756 3750 3750 3800 

Flowrate (×
103) [kmol/h] 

19.1 19.1 35.6 35.6 35.6 16.6 19.1 6.82 7.2 19.4 19.4 19.4 19.4 18.4 1.05 19.6 19.6 14.4 

Mole fraction (× 10−3) 

Argon 9.7 9.7 9.7 9.7 9.7 9.7 9.7 0 0 9.5 9.5 9.5 9.5 10.1 0 9.5 9.5 0 

Methane 0.4 0.4 0.4 0.4 0.4 0.4 0.4 0 0 0.4 0.4 0.4 0.4 0.4 0 0.4 0.4 0 

CO 572 572 572 572 572 572 572 0.1 0.1 561 561 561 561 593 0.3 556 556 0 

CO2 21.1 21.1 21.1 21.1 21.1 21.1 21.1 0.1 0.1 20.7 20.7 21.4 21.4 22.6 0.3 91.3 91.3 0 

COS 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0 0 0.7 0.7 0 0 0 0 0 0 0 

H2 290 290 290 290 290 290 290 0 0 284 284 284 284 301 0.6 287 287 0 

H2O 36.4 36.4 36.4 36.4 36.4 36.4 36.4 996 996 55.3 55.3 54.6 54.6 2.3 969 0.2 0.2 1000 

H2S 8.1 8.1 8.1 8.1 8.1 8.1 8.1 0.1 0.1 8 8 8.6 8.6 9.1 0.4 0 0 0 

N2 57.4 57.4 57.4 57.4 57.4 57.4 57.4 0 0 56.3 56.3 56.3 56.3 59.5 0 56.1 56.1 0 

Ammonia 3.3 3.3 3.3 3.3 3.3 3.3 3.3 3.6 3.4 3.2 3.2 3.2 3.2 1.7 29.7 0 0 0 

O2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

Carbon 0 0 0 0 0 0 0 0 0 0 0 0 - - - 0 0 0 

Sulphur 

(Rhombic) 
0 0 0 0 0 0 0 0 0 0 0 0 - - - 0 0 0 

Cl2 0 0 0 0 0 0 0 0 0 0 0 0 - - - 0 0 0 

HCl 0.9 0.9 0.9 0.9 0.9 0.9 0.9 0 0 0.9 0.9 0.9 0.9 1 0 0 0 0 

SO2 - - - - - - - - - - - - 0 0 0 - - - 



125 
 

The temperature, pressure, molar flowrate, and mole fraction of each stream obtained from the simulation in sweet case (continued). 

Stream No. 19 20 21 22 23 24 25 26 27 28 29 30 31 32 33 34 35 36 

T [°C] 399 307 510 271 314 239 162 158 157 157 156 93 35 35 35 88 26 30 

P [kPa] 5688 3750 3750 3652 3652 3569 3500 3500 3496 3496 3396 3396 3396 3323 3323 166 3248 345 

Flowrate 
(×103) [kmol/h] 

9.03 43.1 43.1 43.1 43.1 43.1 43.1 43.1 36.8 6.28 36.8 36.8 36.8 6.72 30.1 0.339 17.9 10.5 

Mole fraction (× 10−3) 

Argon 0 4.3 4.3 4.3 4.3 4.3 4.3 4.3 5 0 5 5 5 0 6.2 0 10.3 0 

Methane 0 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0 0.2 0.2 0.2 0 0.3 0.1 0.4 0.1 

CO 0 252.9 52.3 52.3 11.0 11.0 11.0 11.0 12.9 0 12.9 12.9 12.9 0 15.8 36.2 25.4 1.4 

CO2 0 41.5 242.1 242.1 283.4 283.2 283.2 283.2 331.3 1.5 331.3 331.3 331.3 0.6 405.2 373 27.9 968.3 

COS 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

H2 0 130.7 331.3 331.3 372.5 372.6 372.6 372.6 436.2 0.1 436.2 436.2 436.2 0 533.7 10 875.6 21.2 

H2O 1000 544.8 344.3 344.3 303 303.1 303.1 303.1 184.4 998.5 184.4 184.4 184.4 999.4 2.2 84.7 0.4 7.5 

H2S 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 494.6 0 0 

N2 0 25.5 25.5 25.5 25.5 25.5 25.5 25.5 29.9 0 29.9 29.9 29.9 0 36.6 1.4 60.1 1.4 

Ammonia 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

O2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

Carbon 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 - - - 

Sulphur (Rhombic) 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 - - - 

Cl2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 - - - 

HCl 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

SO2 - - - - - - - - - - - - - - - 0 0 0 
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Figure 4-6 Steam cycle design: sweet shift case. 
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the WGS feed gas, the quenching water and generate LP steam. It is noticeable that 

the syngas after the sweet shift contains more CO2 (3.39 kmol/s) and steam (3.63 

kmol/s) than the syngas in the sour shift case (3.00 kmol/s CO2 and 3.26 kmol/s steam), 

resulting in the total syngas flowrate being more significant in the sweet shift case 

(12.0 kmol/s) than in the sour shift case (11.3 kmol/s). This is because the syngas feed 

to shift reaction contains more CO2 in the sweet shift case (0.494 kmol/s) than in the 

sour shift case (0.112 kmol/s) on the grounds of some CO2 being added to the syngas 

in the H2S absorber in the sweet shift case. Accordingly, more excess steam need to 

be added to the syngas to achieve the CO conversion rate. As the shifted syngas has 

a greater flowrate in the sweet shift case, carrying more heat, its heat recovery can 

generate more LP steam.  

The cold-shifted syngas after heat recovery is returned to the DS Selexol unit for 

carbon capture. Once processed in the DS Selexol unit, the treated syngas stream 

entering the gas cycle is almost identical in both shift cases regarding the flowrate and 

gas composition, indicating that the power generation at the gas cycle would also be 

equivalent.  

However, the power generation at steam cycle could not but differ significantly 

between the two cases. Compared to the sour shift case, the sweet shift case has to 

undergo the following alternations to its steam cycle. The alterations resulting in a 

reduction in power generation are: 

• Reduction of the back pressure of the HP turbine. 

• Extraction of the HP turbine exhaust for shift reaction.  

• Directing the IP steam generated by recovering the exothermic shift heat to the 

WGSR instead of the steam cycle.  

On the contrary, the changes leading to an increase in power generation are: 

• Generating a far greater amount of HP steam at the syngas cooling stage, as 

quenching is not needed.  

• The amount of LP steam generated by cooling the shifted syngas increases as 

the syngas is at a higher flowrate, containing more CO2 and steam.  
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• Extracting part of the HP turbine exhaust for shift steam results in less reheat 

duty in HRSG. Accordingly, the HP BFW flowrate admitted to the HRSG is to 

be increased.  

Overall, the amounts of power generation in both sour and sweet shift cases are 

almost equal, while the power generation at individual steam turbines is very different 

from each other. The differences between the two shift cases can be explained 

qualitatively as follows:  

• The sweet shift case can generate HP steam at a far greater rate than the sour 

shift case, resulting in greater power generation at the HP turbine. The positive 

effect of more HP steam generated at syngas cooling outweighs the negative 

effect of the back pressure of the HP turbine increasing.  

• The shift reactors of the sweet shift case require a far greater amount of 

additional IP steam. Accordingly, the power generation at the IP turbine is 

reduced significantly due to the vast amount of IP steam being extracted from 

the steam cycle.  

• Although the amount of LP steam generated by cooling the shifted syngas is 

slightly greater in the sweet shift case, the difference in power generation at the 

LP turbine in two shift cases is similar to that at the IP turbine.  

 

4.3 Water gas shift reactors  

This section aimed to estimate the size of the two shift reactors in each case using 

reaction rate models from the open literature. The syngas undergoes a water-gas shift 

reaction (WGS) to produce hydrogen at two reactors in series: a high-temperature shift 

reactor (HTSR) followed by a low-temperature shift reactor (LTSR). In the shift 

reactors, several side reactions other than the main reaction occur simultaneously, 

such as COS hydrolysis, Fischer-Tropsch synthesis, methanol synthesis, methanation, 

etc. But these minor reactions were disregarded in this study, assuming that 

incorporating them into the reactor models would not affect the estimation of the 

reactor size much.  



129 
 

All the shift reactors were simulated by a Plug Flow Reactor (PFR) module available 

in Honeywell UniSim that allows to simulate various heterogeneous catalytic reaction 

rate models. The overall CO conversion rates in the two shift cases were identical at 

around 95.6%. Due to the difference in syngas composition, the sour shift needs a 

lower steam-to-CO ratio than the syngas in the sweet shift case. The ratio of steam to 

CO was estimated to be 2.16 in the sweet shift and 2.03 in the sour shift.  

 

4.3.1 Sweet shift  

The Fe- and Cu-based catalysts were selected for HTSR and LTSR, respectively. As 

for the high-temperature shift catalyst, the reaction rates were estimated by a power-

law rate model [16]. In Hla et al.’s study [16], two different Fe-based shift catalysts 

(HTC1 and HTC2), differing with respect to their constituent compositions, were tested, 

and the reaction kinetic models were constructed based on the experimental data. As 

a result, HTC1 was chosen because HTC1 would perform better than HTC2 for a feed 

gas containing high CO and low CO2 and H2, as with the syngas in this study.  

Hla et al. [16] proposed the parameter values of the power-law model by testing the 

HTC1 (80-90 wt% Fe2O3/8-13 wt% Cr2O3/1-2 wt% CuO) with sulphur-free syngas at 

360-450ºC and 101.325 kPa.  

 𝑟𝐻𝑇𝐶1 = 102.845𝑒
−111000

𝑅𝑇 𝑃𝐶𝑂𝑃𝐶𝑂2

−0.36𝑃𝐻2

−0.09(1 −
1

𝐾𝑒

𝑃𝐶𝑂2𝑃𝐻2

𝑃𝐶𝑂𝑃𝐻2𝑂
) (4-3)  

The raw syngas undergoes a CO conversion rate of around 79% in the HTSR. The 

hot syngas exiting the HTSR is cooled by boiling-hot IP BFW before being fed 

sequentially to the following LTSR to reduce the CO mole fraction further. 

As seen in the reaction kinetic model of the HTC1, the activation energy of the rate 

constant is as high as -111 kJ/mol, indicating that the reaction rate would be meager 

in the temperature range of the LTSR, 270-317ºC. In this relatively low-temperature 

range of the LTSR, the Fe-based HTS catalyst would end up with a very low reaction 

rate. Hence, a Cu-based catalyst, which exhibits a very high reaction rate at low 

temperatures, has to be chosen instead. This study assumed that the LTSR was 

packed with a commercial CuO/ZnO/Al2O3 (50/40/10 wt%) catalyst referred to as the 
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LTS. Mendes et al. [17] proposed a Langmuir-Hinshelwood model along with its 

associated parameter values by testing the Cu-based catalyst with sulphur-free 

syngas in the range of 180-300ºC and at 101.325 kPa as follows [17]: 

𝑟𝐿𝑇𝑆 =
6.153×10−14𝑒

−
3783

𝑅𝑇 𝑃𝐶𝑂𝑃𝐻2𝑂(1−
1

𝐾𝑒

𝑃𝐶𝑂2
𝑃𝐻2

𝑃𝐶𝑂𝑃𝐻2𝑂
)

(1+1.756×10−30𝑒
−

80410
𝑅𝑇 𝑃𝐶𝑂+9.321×10−7𝑒

4109
𝑅𝑇 𝑃𝐻2𝑂+2.28×10−6𝑒

9795
𝑅𝑇 𝑃𝐶𝑂2+2.739×10−15𝑒

83608
𝑅𝑇 𝑃𝐻2)

2 

  (4-4) 

Based on Equation 4-4, the Cu-based catalyst would have a higher reaction rate than 

the Fe-based catalyst, even at the operating conditions of the HTSR. However, the 

Cu-based catalyst had to be employed for a shift reactor operating at relatively low 

temperatures, as it would be easily deactivated by thermal sintering at the HTSR 

temperature [18].  

In estimating the reaction rates at the IGCC pressure as high as 35 bar, using the 

reaction rate models constructed by testing the catalysts at ambient pressure may be 

presumptuous. In this respect, Equation 4-5 was taken as a pressure correction factor 

and is applied to each reaction rate model, similarly to the earlier works [19, 20].  

 𝑃𝑡 = 𝑃0.5−𝑃/500  (4-5) 

The pressure correction factor is known to be valid up to 55 atm [21, 22].  

 

4.3.2 Sour shift  

It is not recommended to use the sweet shift catalysts presented above for a syngas 

feed containing a high concentration of hydrogen sulphide, as the Fe- or Cu-based 

catalysts would exhibit a significant reduction in the reaction rates as well as greatly 

lose their catalytic activity when exposed to H2S [16].  

As for the sour shift, a Co-Mo based catalyst (CaO/MoO3/MgO/Al2O3/promoter = 

2:8:24:50:balance wt.%), referred to as SSC, was chosen, as the activity of catalyst 

could be promoted by sulphur compounds contained in a syngas feed. Hla et al. [23] 

carried out experiments to measure the shift reaction rates of gases containing 1,000 
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ppmv H2S on SSC in the range of 350-450ºC and at 101.325 kPa. They proposed that 

the reaction rate could be estimated by a power-law model as follows [23]. 

 𝑟𝑆𝑆𝐶,1000𝑝𝑝𝑚𝑣 𝐻2𝑆 = 0.008𝑒
−60300

𝑅𝑇 𝑃𝐶𝑂
0.75𝑃𝐻2𝑂

0.31 𝑃𝐶𝑂2

−0.07𝑃𝐻2

−0.09 (1 −
1

𝐾𝑒

𝑃𝐶𝑂2
𝑃𝐻2

𝑃𝐶𝑂𝑃𝐻2𝑂

) (4-6) 

Hla et al. [23] also investigated the effect of H2S on the shift reaction rates, with the 

H2S concentration in the feed gas ranging from 330 to 2,670 ppmv. When plotted in a 

log-log graph, the experimental data exhibited linearity. Accordingly, the effect of H2S 

on the reaction rate is expressed by: 

 𝑟𝑆𝑆𝐶 = 𝑟𝑆𝑆𝐶,1000𝑝𝑝𝑚𝑣 𝐻2𝑆 [
𝐻2𝑆 𝑝𝑝𝑚𝑣

1000
]

𝑛

  (4-7) 

Where n is the slope of the trend line in the logarithmic coordinate, estimated at 0.52 

in their experimental study [23]. Similarly to the study on the sweet shift catalysts, the 

pressure correction factor in Equation 4-5 was applied to the reaction rate modes to 

estimate reaction rates at very high pressure from those estimated at ambient 

pressure to size the high-pressure reactor. It was assumed that the SSC catalysts 

would be applicable to both the HTSR and LTSR in the sour shift case.  

For simplicity, three catalysts were assumed to have identical particle densities of 

2,400 kg/m3 and bulk densities of 1,200 kg/m3. Also, the following assumptions were 

made: (1) no pressure drop; (2) adiabatic reactors; (3) plug flow; (4) no radial 

distributions of temperature and concentration; (5) negligible mass transfer 

resistances at the film and in the pore; and (5) no axial dispersion.  

 

4.3.3 Comparison of the sweet and sour shift reactors 

With the assumptions above, the reactor size was estimated by a plug-flow reactor 

module, including the shift reaction rate model. First, the chosen rate models were 

tested to see if they could replicate the experimental results reported in the references. 

Hla et al. [16] measured the CO conversion rate at 450ºC and 1 atm when a dry-feed 

coal-derived syngas was fed to a lab-scale reactor packed with HTC1 under conditions 

of an actual gas space velocity of 1.9 m3/gcat/h and a steam-to-carbon ratio of around 
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3. The experimental CO conversion was reported at about 7.8%, while its equivalent 

simulation in this study resulted in 5.6% CO conversion assuming isothermal operation.  

Hla et al. [23] tested the SSC1 catalyst with a dry-feed coal-derived syngas containing 

1,000 ppmv H2S at 450ºC and 1 atm with the steam-to-carbon ratio adjusted to 3. The 

experimental CO conversion rate was around 1.5 mol/gcat/s, while its value estimated 

by UniSim PFR was 1.1 mol /gcat/s.  

As for the Cu-based catalyst, Mendes et al. [17] reported the CO conversion rates 

when a typical reformate gas was fed to a lab-scale reactor at 1.2 bar, with both the 

reaction temperature and contact time varied. Again, the experimental results were 

compared with the simulation results by solving the reaction rate model with UniSim 

PFR. By large, the PFR simulation results were slightly lower than the experimental 

CO conversion rates, with the differences between the two lying within 6% points. For 

example, the UniSim PFR estimated the CO conversion rate of 44%, while the 

experimental value was 48% at the contact time of 12.9 gcat h/mol and 200 ºC.  

In the papers where the reaction rate equations were proposed [16, 17, 23], each 

parameter was reported as an average value allowed to vary within a range. By 

adjusting the parameters within their associated ranges, it might be possible to make 

the simulation results closer to the experimental results. However, such laborious 

works were not attempted in this study because the reaction rate models could 

reasonably reproduce the experimental results when implemented with the average 

parameter values. Again, the goal of this section of the study was to estimate the 

approximate number of shift catalysts required to achieve the desired CO conversion 

rate in the sweet and sour shift cases. 

In this study, the required volume of a shift reactor was determined so that the CO 

conversion rate could reach 99% of the equilibrium conversion rate for all four reactors. 

Table 4-8 summarises the simulation results of all four shift reactors, and Figure 4-7 

shows the CO mole fraction profiles along the reactor volume in the high and low-

temperature shift reactors of both cases. As for the high-temperature shift reactors, 

the volumes were estimated at 84.7 m3 and 56.8 m3 for the sweet and sour shift 

reactors, respectively. As explained above, it is essential to incorporate the H2S 

correction factor, Equation 4-7, into the reaction rate equation in the sour shift case, 
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as the reaction rate would be significantly promoted by the presence of H2S in the feed. 

Otherwise, the CO conversion rate plunged to 34% from 77% in the same reactor.  

Table 4-8 Size of the shift reactors estimated by the reaction rate models at the condition of 99% approach to the 

equilibrium CO conversion. 

 Sweet HTSR Sweet LTSR Sour HTSR Sweet LTSR 

Catalyst HTC1a LTSb SSCc SSC 

Volume [m3] 84.7 60.6 56.8 615.8 

CO conversion rate 77.9% 78.4% 77.1% 78.5% 

Average reaction 
rate [mol/cm3/s] 

2.78 × 10−5 8.63 × 10−6 4.11 × 10−5 8.83 × 10−7 

a. Fe-based catalyst; b. Cu-based catalyst; c. CoMo-based catalyst 

 

However, the reactor lengths required for low-temperature shift reactions differed 

greatly between the two shift cases. It was estimated that the reactor packed with the 

Cu-based catalysts for the sweet shift would require only 60.6 m3, while the sour shift 

reactor with the CoMo-based catalysts had to be 615.8 m3 in volume. This is due to 

the reaction rate model taken for the sour shift catalyst predicting very low reaction 

rates in the temperature range of the LTSR, as shown in Table 4-8. This puzzling result 

indicates that the chosen CoMo catalysts would be effective only in the temperature 

ranges well above the LTSR temperature [24], and other sulphur-resistant catalysts 

must be used for the LTSR. Such catalysts may be commercially available, but to the 

best of our knowledge, their reaction rate models have not been reported in open 

literature yet.  
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Figure 4-7 Profiles of CO component mole fractions along the reactor volume: (a) high-temperature sweet shift on 

Fe-based catalysts, (b) low-temperature sweet shift on Cu-based catalysts, (c) high-temperature sour shift on 

CoMo-based catalysts, (d) low-temperature sour shift on CoMo-based catalysts. 

 

4.4 Summary 

In this section, the two process configurations of an IGCC integrated with either sour 

or sweet shift catalytic reactors were designed to identify which alterations to be made 

to syngas cooling, shift reactors, acid gas removal unit, and steam cycle. Based on 

the detailed process flowsheets, the energy penalty incurred by carbon capture 

integration was estimated more accurately than ever. As expected, the sweet shift 

case would require more additional shift steam than the sour shift case. Contrary to 

the stereotype of the sweet shift resulting in a greater energy penalty than the sour 

shift, however, the energy penalties incurred by carbon capture integration were 

estimated to be almost equal in both shift cases. This was mainly due to the sweet 

shift case not requiring syngas quenching. Note that if the sweet shift case were 

configured in the same way as the sour shift case up to the syngas scrubber stage, 

including water quenching and operating the syngas scrubber at a higher temperature, 



135 
 

the sweet shift case would incur a 3.7% greater energy penalty than the sour shift 

case. However, the sweet shift case is not required for either syngas quenching or the 

high-temperature operation of the syngas scrubber. The CO2 absorber of the DS 

Selexol process runs with two solvents: the lean solvent and the semi-lean solvent. 

The two solvent flowrates are complementary to each other, i.e., increasing the lean 

solvent flowrate allows for a reduction in the semi-lean flowrate, and vice versa. 

Accordingly, the DS Selexol process could be designed in two different modes: high 

lean or low lean modes. In the sweet shift case, however, the low mode has to be 

chosen, as the amount of CO2 transferred to the syngas from the solvent at the H2S 

absorber must be minimised. Otherwise, the syngas leaving the H2S absorber would 

contain more CO2, requiring more shift stream to be added for the ensuing shift 

reactors. Concerning the process configuration, the sweet shift case does not need to 

have an H2S concentrator separately, as the H2S absorber also functions as an 

enrichment source for H2S in the H2S-laden solvent by stripping CO2 off the solvent.  

In sizing the shift reactors with the reaction rate models found in the literature, it was 

found that the sizes of the high-temperature shift reactors would be comparable to 

each other. However, the low-temperature sour shift reactor had to be sized much 

larger than the equivalent sweet shift reactor due to the sour shift catalysts exhibiting 

one order of magnitude lower reaction rates than the sweet catalysts in the operating 

conditions of the catalytic reactor. However, all the reactor sizing in this section may 

need to be updated afterwards once the latest shift catalysts are experimented with 

and their reaction rate models are found and reported.
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Chapter 5 Evaluation and comparison of conventional and 

emerging adsorbents in their applications to a CO2 capture 

vacuum pressure swing (VPSA) process 

 

5.1 Introduction  

This chapter focuses on the objective (ii). Adsorbents play a significant role in P/VSA 

processes for CO2 capture. Research reported in the literature mainly focuses on 

either evaluation of adsorbents or the evaluation of P/VSA configurations. A 

systematic comparison of various types of adsorbents in combination with a P/VSA 

system and their combined effect on CO2 capture performances is lacking [1]. For 

example, Zarghampoor et al. [2] compared CO2 adsorption performance on activated 

carbon and zeolite 13X via a two-bed four-step VSA process through a modelling 

approach. Bahamon et al. [3] evaluated the different types of amine-functionalised 

MOFs for post-combustion CO2 capture via molecular simulations. Sumer et al. [4] 

also applied molecular simulations to evaluate different MOF materials on CO2 

separation performances. Sahoo et al. [5] compared different commercially activated 

carbons for CO2 capture via an experiment approach. In this chapter, research was 

designed to evaluate the CO2 capture performance of zeolites, carbons, MOFs and 

triazine-based benzimidazole-linked polymers as adsorbents in a typical five-step VSA 

process, focusing on their CO2 recovery and productivity.   

 

5.2 Adsorbent candidates 

There were approximately 140 adsorption materials related to CO2 adsorption or 

CO2/N2 separation. The evaluation of the CO2 capture performance of various 

adsorbents in a cyclic VSA process is based on their adsorption isotherms for both 

CO2 and N2. Among all these adsorbents, only 38 materials were provided with 

isotherm parameters in the literature that could be reproduced in this study. Other 

materials, such as amine-functionalised sorbents and metal oxide sorbents are not 
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considered because the lack of N2 isotherms makes it impossible to predict CO2 

recovery via the cyclic VSA processes. All the adsorbent candidates considered in this 

study are presented below, categorised into zeolite, carbon, MOF, and triazine-based 

benzimidazole-linked polymers.  

Zeolites, one of the most promising adsorbents for CO2 adsorption, are widely used 

for capturing CO2 from the flue gas via P/VSA. The commercially available zeolite 13X 

provided by CECA was considered as the benchmark, and its isotherm equilibrium 

parameters for both CO2 and N2 were taken from [6]. Additionally, another commercial 

zeolite 13X, PSAO2 HP MolsivTM, provided by UOP was also considered. Its isotherm 

equilibrium parameters were taken from [7]. Chemiewerk Bad Köstritz provides both 

zeolites 4A BFK and 5A BFK, and the isotherm parameters were found in [8] and [9], 

respectively. In the case of zeolite A and X, Liu et al. [10, 11] prepared them using the 

alkali fusion method. zeolite A was derived from coal-fly ash obtained from the 

Shoutou electric plant (China), while zeolite X was made from waste minerals such as 

laterite residue and bauxite. Liu et al. also provided the isotherm parameters. For LTA-

4A and MFI, the isotherm parameters were obtained from the works of Bae et al. [12] 

and Krishna et al. [13], respectively.  

For the carbon candidates, two commercially available activated carbons were 

evaluated. The coconut shell AC (Acticarb GC1200) was supplied by Activated Carbon 

Technologies Pty Ltd (Australia) [14, 15], and the BLP AC was provided by Calgon 

[16]. Ren et al. [17] prepared the polyindole (P-NPs) nanospheres based on the 

Friedel-Crafts (F-C) reaction via the knitting of indole with microwave heating. Then 

they synthesised N-doped carbon nanospheres by pyrolyzing P-NPs in the presence 

of KOH, denoted as NC-X-T, where X refers to the mass ratio of KOH to P-NPs, and 

T is the carbonisation temperature. The NC-X-T candidates included NC-0.5-600, NC-

1-600, NC-2-600, NC-1-500, and NC-1-700. The equilibrium isotherm parameters can 

also be found in [17]. Plaza et al. [18] prepared the microporous biochar from the 

almond shells and olive stones by a single-step activation process and reported the 

equilibrium isotherm data.  

For MOF candidates, the equilibrium isotherm data for MOF-14 and MOF-177 were 

reported by Karra et al. [19] and Mason et al. [20], respectively, while that of Mg-MOF-

74 and UTSA-16 was obtained from [21]. The MFC6, referred to as 1.5 wt% 
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MWCNT/Mg-MOF-74, and MMC1 referred to as 0.1 wt% MWCNT/MIL-100(Fe), were 

prepared by mixing the multi-walled carbon nanotubes (MWCNTs) into the as-

synthesised powder form of Mg-MOF-74 and MIL-100(Fe) based on the weight 

percentage. Their isotherm data was taken from  [22]. Edubilli and Gumma [23] 

synthesised UiO-66 and presented the isotherm parameters. Besides, the isotherm 

data for both CO2 and N2 on MIL-101(Cr) were given in [24]. Zhang and co-workers 

[25] synthesised ZIF-8 and the modified ZIF-8 (ED-ZIF-8), as well as measured the 

corresponding isotherm data. Sedighi et al. [26] presented the equilibrium isotherm 

data for amine-functionalised MIL-101 frameworks, including MIL-101(Cr)-F, MIL-

101(Cr)-OH, NH2-MIL-101(Al)-F, NH2-MIL-101(Fe)-F, and NH2-MIL-101(Cr)-F. Chen 

et al. [27] synthesised the MOF-505@GO composite that consisted of copper-based 

MOF and graphite oxide (GO) and reported the isotherm data. Finally, the equilibrium 

isotherm parameters for CO2 and N2 on Cu-TDPAT were presented by Zhang et al. 

[28]. 

Other materials include triazine-based benzimidazole-linked polymers (TBILPs), 

TBILP-1 and TBILP-2, which were synthesised by template-free polycondensation 

reacting with 2,4,6-tris(4-formylphenyl)-1,3,5-triazine(TFPT) and 1,2,4,5-

benzenetetraamine tetrachloride(BTA) in the presence of 2,3,6,7,14,15-

hexaaminotriptycene (HATT), reported by Sekizkardes et al. [29]. Both CO2 and N2 

uptake isotherm parameters were presented in [29].  

 

5.3 The VSA system 

Most studies focus on light product recovery, in which the pure or highly pure light 

component is produced at one end, while the mixture of light and heavy components 

is produced from another end. This is achieved by purging the column at low pressure 

using a portion of the light product, which is easy to implement to achieve the complete 

purification of the light component. However, the heavy product would be diluted by 

the light-product purge; the enrichment of heavy components is limited by the purge-

to-feed ratio [30]. In this study, however, CO2, as a heavy component, is mainly aimed 

to be recovered with high purity.  
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Several PSA processes were carried out for heavy component production. For 

example, a two-column four-step PSA consisting of pressurisation, feed, counter-

current depressurisation, and purge was investigated, where the product is only 

obtained during the feed and purge steps [31]. Such a PSA process is referred to as 

the Skarstrom cycle. The simulation based on the equilibrium theory has demonstrated 

that the two-column four-step configuration can produce the pure heavy component 

with 80% recovery from a feed stream containing only 1 vol% heavy component. It 

should be noted that the equilibrium theory is an ideal model for predicting the upper 

thermodynamic limit of binary gas mixture separation [31]. Besides, Yoshida et al. 

conducted an experimental study to concentrate the heavy component from a dilute 

feed stream via a two-bed six-step PSA process with pressure equalisation [32]. Their 

results show that the heavy product was enriched up to 80 times the concentration of 

the feed, with a recovery of 90%. It is noted that the enrichment of the light component 

is limited by the pressure ratio instead of the heavy component’s purity. All of these 

simulation works did not consider the impact of adsorbents on P/VSA processes.  

To improve the purity of heavy product, the Skarstrom cycle can be modified by adding 

the co-current depressurisation step and/or rinse step [33]. After the adsorption step, 

the co-current depressurisation step is introduced to reduce the column pressure to 

an intermediate level (between the adsorption and desorption pressures). Meanwhile, 

the light component continues to exhaust, and the heavy component fills the interstitial 

void spaces due to the desorption inside the column. The heavy component-enriched 

interstitial gas is then recovered during the counter-current depressurisation and/or 

the light product purge step, thus improving the heavy product purity. Likewise, the 

rinse step could be considered a high-pressure purge after the high-pressure 

adsorption step by admitting the pure heavy component to enhance the purity of the 

heavy product. The residual feed is replaced and pushed downstream towards the 

column end during the rinse step. Either the pure light product or the gas mixture with 

a similar composition is obtained continuously as the feed gas. The heavy component 

is recovered following counter-current depressurisation and/or light product purge 

steps. It should be noted that before entering the column, the heavy product used as 

rinse gas must be recompressed to high pressure. Although the rinse flow can be 

either counter-current or co-current, the flow direction does not affect cycle 
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performances because the ideal shock front is propagated during the rinse step using 

the local equilibrium mathematical model.  

More complex PSA cycles involving multi-beds, operated with heavy rinse and/or co-

current depressurisation steps, have been developed to concentrate CO2 from flue 

gas [34-44]. For example, a dual-bed six-step PSA cycle was proposed [45] to 

separate CO2 from flue gas in a bed packed with two adsorbents, UTSA-16, and 

zeolite 13X. The CO2 purity and recovery were 95% and 90%, respectively, with the 

following step sequences: feed adsorption, heavy rinse, co-current depressurisation, 

counter-current depressurisation, light product purge, and light product pressurisation. 

Chue et al. [37] developed a three-bed seven-step PSA configuration involving feed 

adsorption, co-current depressurisation, intermediate-pressure feed adsorption, heavy 

rinse, count-current depressurisation, and feed pressurisation. The CO2 concentration 

in the feed gas varied from 16% to 26%, giving the recovery of CO2 product ranging 

from 53% to 70% with high purity (> 99%). Webley et al. [44] developed a four-bed 

ten-step PVSA process that includes feed adsorption, heavy rinse, pressure 

equalisation, counter-current depressurisation, and re-pressurisation for heavy 

product recovery. 64% of CO2 was recovered from the flue gas with a purity of 92.4%.  

The above-mentioned research mainly focused on the impact of the process 

configuration on CO2 recovery and purity but did not combine the effect of various 

adsorbents on a specific P/VSA process. This chapter performed a comprehensive 

study to evaluate various conventional and emerging porous materials via a VSA 

process based on the equilibrium theory model. The simulated flue gas consists of 15% 

CO2 and 85% N2. The CO2 capture VSA process involves a five-step VSA process, 

comprising high-pressure feed, heavy rinse, counter-current depressurisation 

(blowdown), low-pressure purge, and light product pressurisation steps. Since the 

column is filled with the heavy component after the heavy rinse step, pure CO2 is 

obtained during the counter-current depressurisation step. Thus, the indicators of the 

separation performance for analysing the adsorption column in this study are CO2 

recovery and CO2 productivity.  
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5.4 Model description  

To evaluate CO2 capture performance, a five-step VSA process was employed for the 

analysis. The five-step VSA process, consisting of adsorption, heavy rinse, counter-

current blowdown, light-product purge, and light-product pressurisation, is carried out 

in a packed bed of adsorbent, with a constant interstitial void fraction and cross-

sectional area. Figure 5-1 presents the process diagram schematically.  

During the adsorption step, the binary gas mixture containing 15% CO2 and 85% N2 

continuously passes through the adsorption column from the feed end (z = 0) at 1 bar 

and 298 K. The CO2, as the heavier component, is adsorbed by the adsorbent inside 

the column. A portion of the CO2-free effluent is collected from the product end (z = L) 

as the light product, while the remaining effluent is used for purge and pressurisation. 

During the heavy rinse step, the pure heavy component is fed to the column from the 

product end, to replace the residual N2 inside the column under high pressure (𝑃𝐻), 

thus leading to the CO2 saturation column. The gas obtained from the feed end during 

the heavy rinse step has the same composition as the feed gas, which is recycled. 

Then the column pressure is reduced to low pressure (𝑃𝐿 ), facilitating adsorbent 

regeneration and CO2 recovered. A portion of the low-pressure CO2 product must be 

recompressed to 𝑃𝐻  for rinsing the column. During the purge step, the column is 

purged by the pure N2 flowing in reverse under 𝑃𝐿, pushing the remaining CO2 back 

towards the feed end. This makes the adsorption column saturated with N2, ready for 

the whole cycle to be repeated. Finally, during the pressurisation step, the column is 

repressurised to 𝑃𝐻 via the product end.  
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Figure 5-1 The step sequences of the five-step VSA process. F, feed adsorption; HR, heavy rinse; CnD, counter-

current depressurisation or blowdown; PU, light product purge; LPP, light product pressurisation. 

 

5.5 Cycle Analysis  

Since the complete utilisation of the adsorption bed is presumed, the cycle starts at a 

cyclic steady state. The column is assumed to be saturated with pure N2 before the 

adsorption step and pure CO2 before the heavy rinse step.  

1. High-pressure adsorption 

The formation and propagation of the shock wave are dominated inside the adsorption 

column during the adsorption step. The interstitial velocities ahead of and behind the 

wave determine the shock velocity, as expressed in Equation 3-12. The following 

equation is obtained by equating the shock wave velocity based on the light 

component and relating it to Equation 3-13 obtains: 

 
𝑢1

𝑢2
=

1+(𝜃−1)𝑦𝐶𝑂2,2

1+(𝜃−1)𝑦𝐶𝑂2,1
  (5-1) 

Where 𝜃 =
𝜃𝐶𝑂2

𝜃𝑁2

 and 𝜃𝑁2
=

1

1+
1−𝜀

𝜀
𝑘𝑁2𝜌𝑃𝑅𝑇

.  

The total amount of moles fed to the column during adsorption is related to the inlet 

velocity, adsorption pressure, and adsorption time, expressed as: 
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 𝑁𝐹𝐼 = 𝜀𝐴
𝑃𝐻

𝑅𝑇
𝑢𝐴𝐷,𝑖𝑛𝑡𝐴𝐷  (5-2) 

The adsorption time is determined by integrating Equation 3-12 with 𝑦𝐶𝑂2,1 = 0 and 

𝑦𝐶𝑂2,2 = 𝑦𝑓 , corresponding to the column length, the interstitial velocity, and the 

adsorption isotherm, giving:  

 𝑢𝐴𝐷,𝑖𝑛𝑡𝐴𝐷 =
𝐿

𝜃𝐶𝑂2(𝑃𝐻,0,𝑦𝑓)
  (5-3) 

The total amount of moles entering (𝑁𝐹𝐼) or existing (𝑁𝐹𝑂) the column during adsorption 

is related to 𝜃𝐶𝑂2
 with 𝑦𝐶𝑂2,1 = 0 and 𝑦𝐶𝑂2,2 = 𝑦𝑓, expressed as: 

 𝑁𝐹𝐼 =
𝜀𝐴𝑃𝐻𝐿

𝜃𝐶𝑂2(𝑃𝐻,0,𝑦𝑓)𝑅𝑇
  (5-4) 

 𝑁𝐹𝑂 = 𝑁𝐹𝐼[1 + (𝜃(𝑃𝐻, 0, 𝑦𝑓) − 1)𝑦𝑓]  (5-5) 

2. Heavy rinse 

The heavy rinse step is also considered a high-pressure purge. Unlike the purge step, 

a shock wave is formed and propagated during the heavy rinse step, but the purge 

step involves a simple wave. It is noted that the column performances are not affected 

by the flow direction, as the ideal shock fronts are presented with the local equilibrium 

mathematical model being assumed. In this context, the reverse flow direction of the 

feed gas is applied during the rinse step. The governing equations for the rinse step 

are similar to those for the feed adsorption step, giving the corresponding expressions 

of the total number of moles leaving (𝑁𝑅𝑂) and entering (𝑁𝑅𝐼)  the column as: 

 𝑁𝑅𝑂 =
𝜀𝐴𝑃𝐻𝐿

𝜃𝑁2𝑅𝑇
  (5-6) 

 𝑁𝑅𝐼 = 𝑁𝑅𝑂
1+[𝜃(𝑃𝐻,1,𝑦𝑓)−1]𝑦𝑓

𝜃(𝑃𝐻,1,𝑦𝑓)
  (5-7) 

3. Blowdown 

Following the heavy rinse step, the column is presumed saturated with pure CO2. The 

pressure drops from 𝑃𝐻 to 𝑃𝐿 , and the CO2 starts desorbing. The effluent is assumed 
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only to contain pure CO2, which is determined by the CO2 amount difference between 

the initial and final states. The total number of moles of CO2 product (𝑁𝐵𝑂) is: 

 𝑁𝐵𝑂 =
𝜀𝐴𝐿𝑃𝐻

𝜃𝐶𝑂2(𝑃𝐻,1,0)𝑅𝑇
−

𝜀𝐴𝐿𝑃𝐿

𝜃𝐶𝑂2(𝑃𝐿,1,0)𝑅𝑇
  (5-8) 

4. Light product purge 

The column is completely purged under PL via the pure N2 gas flowing counter-

currently. Based on Equation 3-10, when the pressure is constant, the mole fraction 

of CO2 is constant along each characteristic. Integrating Equation 3-9 with  𝑦𝐶𝑂2 = 0 

calculates the purge duration (𝑡𝑃𝑈): 

 𝑢𝑃𝑈,𝑖𝑛𝑡𝑃𝑈 =
𝐿

𝛽𝐶𝑂2(𝑃𝐿,0)
   (5-9) 

Thus, the required molar quantity of the light product, 𝑁𝐿𝐹, is: 

 𝑁𝐿𝐹 =
𝜀𝐴𝐿𝑃𝐿

𝛽𝐶𝑂2(𝑃𝐿,0)𝑅𝑇
  (5-10) 

5. Light product pressurisation 

The column is pressurised with the pure light product, counter-currently. The quality 

of the light product required (𝑁𝐿𝐼) for increasing the column pressure is defined as: 

 𝑁𝐿𝐼 = −𝜀𝐴 ∫ 𝑢𝐿𝑃𝑃,𝑖𝑛
𝑃

𝑅𝑇

𝑑𝑡

𝑑𝑃
𝑑𝑃

𝑃𝐻

𝑃𝐿
  (5-11) 

The composition inside the column keeps constant due to the same composition in the 

influent gas as in the purge gas. It is discovered that the composition remains constant 

within the column regardless of pressure changes. The interstitial velocity of the 

influent, 𝑢𝐿𝑃𝑃,𝑖𝑛, is determined by integrating the Equation 3-11 with 𝑢 = 0 at 𝑧 = 0: 

 𝑢𝐿𝑃𝑃,𝑖𝑛 =
−𝐿

𝛽𝑁2

1

𝑃

𝑑𝑃

𝑑𝑡
  (5-12) 

The required molar quantity of light product, 𝑁𝐿𝐼, is:  

 𝑁𝐿𝐼 =
𝜀𝐴𝐿

𝛽𝑁2𝑅𝑇
(𝑃𝐻 − 𝑃𝐿)  (5-13) 
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Thus, N2 recovery (𝑅𝑒𝑁2
) and CO2 recovery (𝑅𝑒𝐶𝑂2

) based on the complete purge are 

given by:  

 𝑅𝑒𝑁2
=

𝑁𝐹𝑂−𝑁𝑃𝐼−𝑁𝐿𝐼

(1−𝑦𝑓)(𝑁𝐹𝐼−𝑁𝑅𝑂)
= 1 −

𝜃𝐶𝑂2
(𝑃𝐻,𝑦𝑓,0)

𝛽𝑐𝑜2(𝑃𝐿,0)
−

𝜃𝐶𝑂2
(𝑃𝐻,𝑦𝑓,0)

𝛽𝑁2

𝑃𝐻
𝑃𝐿

(1−𝑦𝑓)(1−
𝜃𝐶𝑂2

(𝑃𝐻,𝑦𝑓,0)

𝛽𝑁2
)

  (5-14) 

 𝑅𝑒𝐶𝑂2
=

𝑁𝐵𝑂−𝑁𝑅𝐼

𝑦𝑓(𝑁𝐹𝐼−𝑁𝑅𝑂)
=

𝑃𝐻
𝑃𝐿

[
𝜃𝐶𝑂2

(𝑃𝐻,1,𝑦𝑓)

𝜃𝐶𝑂2
(𝑃𝐻,1,0)

+𝑦𝑓(1−
𝜃𝐶𝑂2

(𝑃𝐻,1,𝑦𝑓)

𝛽𝑁2
)−1]−

𝜃𝐶𝑂2
(𝑃𝐻,1,𝑦𝑓)

𝜃𝐶𝑂2
(𝑃𝐿,1,0)

𝑃𝐻
𝑃𝐿

𝑦𝑓(
𝜃𝐶𝑂2

(𝑃𝐻,1,𝑦𝑓)

𝜃𝐶𝑂2
(𝑃𝐻,𝑦𝑓,0)

−
𝜃𝐶𝑂2

(𝑃𝐻,1,𝑦𝑓)

𝛽𝑁2
)

 (5-15) 

 

5.6 Isotherms   

Adsorption isotherms are calculated to estimate the adsorption performance of various 

adsorbents in the VSA process. Three well-known models, the Toth model, the Dual-

site Langmuir-Freundlich model, and the Dual-site Langmuir model, were used to 

predict the adsorption isotherms, and parameters were taken from the literature. 

Detailed information of these three isotherm models has been presented in Section 

2.4. Tables 5-1 to 5-3 present the isotherm types and the associated parameters for 

all considered adsorbent candidates. Because the CO2 quadrupole moment 

(13.4 × 10−40 𝐶 ∙ 𝑚2) and CO2 polarizability (26.3 × 10−25 𝑐𝑚3) are greater than those 

of N2 (4.7 × 10−40 𝐶 ∙ 𝑚2  and 17.7 × 10−25 𝑐𝑚3 ), the adsorption amount of CO2 is 

always significantly greater than that of N2 across all tested adsorbent samples 

operating under the same temperature and pressure [20]. This has been clearly 

reflected in the calculated parameters presented in Tables 5-1 to 5-3. In addition, the 

N2 isotherms for all adsorbent candidates exhibit roughly linear trends, indicative of 

the materials remaining unsaturated under these specified conditions. According to 

Tables 5-1 to 5-3, some materials, such as zeolite 13X, 5A BFK, 4A BFK, Mg-MOF-

74, and MFC6, have the type I isotherm shape, indicating that they are priori good 

candidates for the cyclic CO2/N2 separation process. 

 

 



149 
 

Table 5-1 The adsorption of CO2 and N2 on materials that follow the Toth model (Equation 2-10). 

Adsa Compb 𝑞𝑠
c 𝑏d n 

5A BFK [9] 
CO2 5.11 1.00 0.61 

N2 5.41 7.37 × 10−4 2.95 

Biochar [18] 
CO2 5.61 0.05 0.43 

N2 1.43 2.72× 10−3 0.99 

MMC1 [22] 
CO2 21.63 8.42× 10−4 0.53 

N2 0.16 6.91× 10−3 6.32 

MFC6 [22] 
CO2 12.95 0.67 0.34 

N2 2.43 2.90× 10−3 1.40 

MOF-14 [19] 
CO2 35.70 2.03× 10−3 0.39 

N2 11.30 1.75× 10−4 0.79 

a. Adsorbent; b. Component; c. With the unit of mol/kg; d. With the unit of 1/kPa.  

 

Table 5-2 The adsorption of CO2 and N2 on materials that follow the Dual-site Langmuir- Freundlich (DSLF) 

model (Equation 2-12). 

Adsa Compb 𝑞𝐴
c 𝑞𝐵

c 𝑏𝐴
d 𝑏𝐵

d n1 n2 

BLP AC [16] 
CO2 28.00 9.60 7.52× 10−7 1.53× 10−3 2.1 1.0 

N2 2.00 0.80 4.26× 10−4 1.30× 10−3 1.0 1.0 

MOF-505 [46] 
CO2 6.86 3.52 6.67× 10−5 0.022 1.58 0.96 

N2 3.08 2.20 2.51× 10−5 4.93× 10−5 1.07 1.06 

MOF-

505@5GO [46] 

CO2 8.33 4.75 4.93× 10−5 0.023 1.68 0.96 

N2 3.58 2.36 8.37× 10−5 7.35× 10−4 1.12 1.06 

ED-ZIF-8 [25] 
CO2 48.88 4.67 0.01259e 0.03e 0.71 2.26 

N2 28.32 1.85 1.39× 10−3e 0.03e 1.30 1.15 

ZIF-8 [25] 
CO2 27.25 2.12 0.015e 6.90× 10−3e 0.63 3.08 

N2 27.25 1.92 1.17× 10−3e 0.03e 1.27 1.04 

Cu-TDPAT 

[28] 

CO2 1.00 18.92 0.85 2.30× 10−3 0.89 1.09 

N2 0.07 2.41 4.6× 10−3 0.30× 10−3 1.67 1.35 

a. Adsorbent; b. Component; c. With the unit of mol/kg; d. With the unit of 1/kPa.  
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Table 5-3 The adsorption of CO2 and N2 on materials that follow the DSL model (Equation 2-8). 

Adsa Compb 𝑞𝐴
c 𝑞𝐵

c  𝑏𝐴
d 𝑏𝐵

d 

MFI [47] 
CO2 2.0 1.9 0.028 2.28× 10−3 

N2 6.6 3.8 2.24× 10−4 2.56× 10−4 

CECA zeolite 

13X [47] 

CO2 3.5 5.2 4.97× 10−3 0.08 

N2 3.0 0.5 3.11× 10−4 7.76× 10−3 

LTA-4A [47] 
CO2 1.75 2.5 0.22 0.01 

N2 4.2 - 2.76 × 10−4 - 

PSAO2 HP 

MolsivTM [48] 

CO2 2.8 2.5 0.21 0.01 

N2 2.02 - 8.25 × 10−4 - 

Zeolite X [11] 
CO2 2.11 2.03 0.03 0.53 

N2 4.13 - 7.54 × 10−4 - 

4A BFK [8] CO2 1.81 3.68 5.22 × 10−3 0.46 

N2 3.24 - 1.13 × 10−3 - 

Zeolite A [10, 

49] 

CO2 2.45 2.11 2.35 0.02 

N2 0.01 3.14 0.59 1.14 × 10−3 

Coconut shell 

Acticarb [48] 

CO2 0.59 7.51 0.13 4.97 × 10−3 

N2 0.16 41.30 0.03 4.46 × 10−5 

P-NP [17] CO2 0.50 2.29 0.10 7.92× 10−3 

N2 0.95 - 2.26× 10−3 - 

NC-1-700 [17] CO2 7.95 0.62 5.61× 10−3 0.18 

N2 1.65 - 4.77× 10−3 - 

NC-1-600 [17] CO2 1.05 5.33 0.18 0.01 

N2 2.40 - 2.41× 10−3 - 

NC-2-600 [17] CO2 7.52 1.10 8.87× 10−3 0.21 

N2 2.63 - 2.02× 10−3 - 

NC-0.5-600 [17] CO2 4.42 1.02 0.014 0.20 

N2 3.32 - 1.58× 10−3 - 

NC-1-500 [17] CO2 0.78 4.34 0.49 0.02 

N2 1.83 - 2.78× 10−3 - 

UiO-66 [23] CO2 0.91 16.00 0.01 5.45× 10−4 

N2 6.72 - 1.75× 10−4 - 
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The adsorption of CO2 and N2 on materials that follow the DSL model (Equation 2-8) (continued). 

Adsa Compb 𝑞𝐴
c 𝑞𝐵

c  𝑏𝐴
d 𝑏𝐵

d 

MIL-101(Cr)-F 

[26] 

CO2 4.06 5.25 3.97× 10−3 2.93× 10−3 

N2 1.85 2.18 7.23× 10−4 7.04× 10−4 

MIL-101(Cr)-OH 

[26] 

CO2 1.38 12.23 8.92× 10−3 1.53× 10−3 

N2 1.50 1.76 8.80× 10−4 8.45× 10−4 

MIL-101(Cr) [24] CO2 3.59 1.18 9.21× 10−3 1.97× 10−3 

N2 10.14 3.07 5.02× 10−7 5.49× 10−4 

NH2-MIL-

101(Al)-F [26] 

CO2 0.51 4.21 0.012 7.15× 10−3 

N2 2.01 2.77 5.97× 10−4 5.92× 10−4 

Adsa Compb 𝑞𝐴
c 𝑞𝐵

c  𝑏𝐴
d 𝑏𝐵

d 

NH2-MIL-

101(Fe)-F [26] 

CO2 0.56 6.83 0.022 1.84× 10−3 

N2 1.38 1.69 8.03× 10−4 8.58× 10−4 

MOF-177 [20] CO2 2841 - 2.93× 10−6 - 

N2 113.6 97.73 1.61× 10−5 4.57× 10−7 

UTSA-16 [21] CO2 4.08 1.29 0.06 6.93× 10−4 

N2 1.33 1.77 6.81× 10−4 3.39× 10−4 

NH2-MIL-

101(Cr)-F [26] 

CO2 0.57 22.43 0.17 1.21× 10−3 

N2 2.09 2.66 6.95× 10−4 6.79× 10−4 

Mg-MOF-74 [48] CO2 6.41 9.80 0.55 3.10× 10−3 

N2 114 5.94 5.68 × 10−8 1.94× 10−3 

TBILP-1 [29] CO2 3.29 0.95 4.19× 10−3 0.043 

N2 11.84 - 6.85× 10−5 - 

TBILP-2 [29] CO2 1.32 8.19 0.037 3.80× 10−3 

N2 4.53 - 4.12× 10−4 - 

a. Adsorbent; b. Component; c. With the unit of mol/kg; d. With the unit of 1/kPa.  

 

5.6.1 Isotherms on carbons  

The pure CO2 and N2 equilibrium isotherms on carbon candidates developed at 298 K 

with a pressure of up to 1 bar are shown in Figures 5-2. The isotherms demonstrated 

that all the carbon samples were not saturated within the pressure range under 1 bar. 
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CO2 adsorption on carbon adsorbents exhibited an exponential growth, while N2 

adsorption increases linearly with N2 pressure. 

Table 5-4 The BET surface area, micropore volume, and ultra-micropore volume of N-doped carbons, ACs, and 
biochar [14, 16, 17]. 

Sample 
BET surface area 

[m2/g] 

Micropore volume 

[cm3/g] 

Ultra-micropore 

volume 

[cm3/g] 

P-NPs 440 0.13 0.07 

NC-0.5-600 636 0.27 0.17 

NC-1-600 807 0.33 0.21 

NC-2-600 986 0.41 0.2 

NC-1-500 650 0.27 0.17 

NC-1-700 1503 0.60 0.19 

Coconut shell AC 822 0.37 - 

biochar 415 0.24 - 

BPL AC 859 0.37 - 

 

Among all the N-doped porous carbon materials, P-NPs show the lowest CO2 uptake 

capacity compared to the NC-X-T samples. At 1 bar, CO2 uptake amount for NC-X-T 

samples follow the order of NC-2-600 > NC-1-600 > NC-0.5-600 > NC-1-500, which is 

identical to the order of BET surface area and micropore volume (Figure 5-2a and 

Table 5-4). This suggests a similarity in their manufacturing processes and the 

concentration of N functional group per unit surface area, thereby implying a linear 

relationship between the CO2 adsorption capacity of NC-X-T group adsorbents and 

BET surface area. Although NC-1-700 has the highest BET surface area and 

micropore volume among all the NC-X-T samples, it exhibits the lowest CO2 uptake. 

This can be explained by the fact that the NC-1-700 has the lowest nitrogen content, 

as the surface polarity of the porous carbon can be significantly improved by nitrogen 

doping [17], thus affecting the CO2 uptake amount. P-NPs have the smallest BET 

surface area and the lowest CO2 adsorption capacity. This agrees again that BET 

surface area is the primary factor that controls CO2 adsorption capacity.  
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BPL AC has a relatively large BET area of 859 m2/g but the lowest CO2 adsorption 

capacity. This discrepancy can be explained by examining the available surface area 

in conjunction with its manufacturing process and the relatively low concentration of 

active sites per unit surface area for CO2 adsorption. The isotherm of BPL AC takes a 

linear trend, being similar to N2 adsorption, indicating a similarity in the adsorption 

mechanism of CO2 and N2 adsorption on P-NP. The effect of desorption pressure on 

BPL AC may be less significant than on other adsorbents with an index increase in 

CO2 adsorption.  
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Figure 5-2 (a) CO2 isotherms and (b) N2 isotherms on carbons at 298 K and within the pressure range of 0-1 bar. 

 

5.6.2 Isotherms on zeolites 

Figures 5-3 show the CO2 and N2 isotherms on zeolite adsorbents at 298 K with a 

pressure of up to 1 bar. It is no doubt that the CO2 adsorbed amount on zeolites is 

(a) 

(b) 
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significantly higher than that of N2 at the same temperature and pressure. Zeolites 

have superior CO2 adsorption capacity than carbon adsorbents. After comparing 

Figures 5-2(a) and 5-3(a), it can be seen that CO2 adsorption on zeolites reaches a 

relatively high value at a low CO2 pressure. At 0.1 bar, most zeolites reach their 80% 

of CO2 adsorption capacity, while carbon adsorbents reach only about 30% of their 

adsorption capacity in most cases. This means that zeolites are able to adsorb CO2 at 

a low pressure or a low CO2 concentration, while carbon adsorbents only work 

effectively at a high pressure or a high CO2 concentration. N2 adsorption on zeolites 

and carbon adsorbents takes a very similar pattern, but N2 has a stronger affinity to 

carbon adsorbents than to zeolites. In general, N2 adsorption on zeolites is about half 

or less than half of that on carbon adsorbents under the same conditions. These 

results agreed well with most experimental results [9]. The superior CO2/N2 separation 

performance of zeolites can be explained by the interaction between CO2 quadrupole 

structure and zeolites. Within the pressure range between 0 and 1 bar, the quadrupole 

structure of CO2 is more easily attracted by zeolites [20]. Among zeolite adsorbents, 

their CO2 adsorption capacity follows the order after CO2 pressure is greater than 0.3 

bar:  CECA zeolite 13X > 5A BFK > 4A BFK > PSAO2 HP MolsivTM > zeolite A >zeolite 

X > LTA-4A > MFI. In contrast, their N2 adsorption capacity follows the order when 

pressure is less than 1 bar: zeolite A > 4A BFK > CECA zeolite 13X > zeolite X > MFI > 

PSAO2 HP MolsivTM > LTA 4A > 5A BFK. Considering both CO2 adsorption capacity 

and selectivity, 5A BFK is the best CO2 adsorbent within the 0 to 1 bar pressure range. 

At around 0.32 bar, CO2 adsorption capacity for CECA zeolite 13X and 5A BFK is 

almost the same, but CECA zeolite 13X adsorbs 0.1 mol of N2 while 5A BFK only 

adsorbs 0.02 mol/kg N2. In this regard, 5A BFK exhibits much higher selectivity than 

CECA zeolite 13X. Once CO2 pressure is greater than 0.32 bar, CECA zeolite 13X 

has the highest CO2 adsorption amount among all the zeolite candidates, which shows 

the maximum CO2 adsorbed amount being 5.8 mol/kg within the pressure range of 0-

1 bar. However, its selectivity is still less than 5A BFK.  



156 
 

 

 

Figure 5-3 (a) CO2 isotherms and (b) N2 isotherms on zeolites at 298 K and within the pressure range of 0-1 bar. 

 

5.6.3 Isotherm on MOFs 

Adsorption isotherms for CO2 and N2 on MOF samples at 298 K within the pressure 

range between 0 and 1 bar are shown in Figures 5-4. Both Mg-MOF-74 and MFC6 

(b) 

(a) 
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have superior CO2 adsorption capacity than all other adsorbents investigated in this 

study, with values of about 8.6 mol/kg and 6.9 mol/kg at 1 bar, respectively. Mg-MOF-

74 is the best, and its adsorption capacity is about 6 mol/kg, even at a low CO2 

pressure of 0.1 bar. This agrees very well with the experimental investigation [50]. N2 

uptake amounts by Mg-MOF-74 and MFC6 are 0.9 mol/kg and 0.6 mol/kg at 1 bar, 

much less than their CO2 adsorption capacities. This significant difference in their 

adsorption capacities for CO2 and N2 provides the excellent selectivity of Mg-MFO-74 

and MFC6 in CO2/N2 separation. Most other MOF adsorbents have CO2 adsorption 

capacities less than zeolites and carbons. Interestingly, the CO2 adsorption 

performance and N2 selectivity of Cu-TDPAT are very similar to CECA zeolite 13X. 

Their CO2 and N2 isotherms closely resemble each other.  

The superior CO2 adsorption capacity of Mg-MOF-74 can be explained by the 

unsaturated coordinative Mg2+ sites on the Mg-MOF-74 surface [50, 51]. The large 

number of coordinatively unsaturated metal sites exposed on MOF-74 provides 

sufficient active sites for CO2 adsorption. MFC6, which is prepared by mixing as-

synthesis Mg-MOF-74 powder with 1.5 wt% MWCNT powder [22], shows slightly lower 

CO2 adsorption than Mg-MOF-74. It is found that both the characteristic lattice 

framework structure and porosity-related parameters of Mg-MOF-74 are not affected 

by mixing less than 1.5 wt% MWCNTs physically. Despite having the same pore 

volume (0.63 cc/g), Mg-MOF-74 shows a slightly higher BET surface area (1,518 m2/g) 

than MFC6 (1,477 m2/g), leading to a higher maximum CO2 capacity. Similarly, the 

porosity-related parameters of the MMC1, incorporating MWCNT with MIL-100(Fe) 

remained unchanged compared to the pure MIL-100(Fe). It is reported that the BET 

surface area and pore volume of MMC1 are 1,248 m2/g and 0.61 g/cc, respectively, 

which are lower than those of MFC6, leading to a lower CO2 adsorption amount. 

Similar to the Mg-MOF-74, UTSA-16, an open-metal site material, also shows the type 

I CO2 adsorption isotherm. However, its maximum CO2 adsorption amount is around 

2.5 times lower than on Mg-MOF-74. K+ ions, as the charge-balancing cations existing 

in the structure of UTSA-16, affect the interactions between CO2 and the material.  
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Figure 5-4 (a) CO2 isotherms and (b) N2 isotherms on MOFs at 298 K and within the pressure range of 0-1 bar. 

 

Both MOF-505 and MOF-505@GO exhibit similar pore structures and show the typical 

type I CO2 isotherm shape, primarily owing to their predominantly microporous nature. 

Although the porosity of GO is negligible [27], the CO2 uptake amount on MOF-

505@GO shows a steep growth in the low-pressure region, reaching a maximum 

(a) 

(b) 
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value of 3.97 mol/kg at 298 K and 1 bar. This value is drastically higher than that 

observed for the original MOF-505. This is due to the fact that fresh micropores are 

created at the point where copper dimers from MOF-505 units and oxygen-containing 

functional groups in the GO layer meet, leading to a higher BET surface area and pore 

volume (Table 5-5). Besides, more unsaturated Cu2+ metal sites are exposed in the 

MOF-505@GO as the GO functional groups combined with the Cu2+ metal sites can 

compete with solvent molecules, resulting in flaws in both the crystal surface and 

MOF-505 units. Consequently, more strong adsorptive sites are constructed for CO2 

adsorption [27].  

Table 5-5 The BET surface area and pore volume of MOF-505 and MOF-505@GO [27]. 

Materials 
BET surface area 

[m2/g] 

Total pore volume 

[cm3/g] 

Micropore volume 

[cm3/g] 

MOF-505 1101 0.455 0.374 

MOF-505@GO 1279 0.516 0.437 

 

The similar pore shapes and adsorption spaces of Cr-, Al-, and Fe-based MIL-101 are 

expected to contribute to their similar lattice and adsorption spaces [26]. Thus, their 

CO2 adsorption isotherms are also expected to be similar. However, the CO2 

isotherms on these three materials are different, following the order of NH2-MIL-

101(Cr)-F > NH2-MIL-101(Al)-F > NH2-MIL-101(Fe)-F. Since the CO2 adsorption 

values for fully and partially NH2-modified MIL-101(Cr) frameworks differ when 

pressure exceeds 0.1 bar [52], fully NH2-functionalisation was assumed for the 

comparison with Al- and Fe-based NH2-MIL-101 frameworks [26]. The affinity between 

the Cr ion and CO2 molecules is higher than between Al and Fe ions and CO2 

molecules. As a result, NH2-MIL-101(Cr)-F shows the highest CO2 uptake amount 

(2.96 mol/kg), as well as the N2 adsorption capacity (0.3 mol/kg), among all Cr-, Al-, 

and Fe-based MIL-101 samples presented in this study. Compared to the NH2-MIL-

101(Cr)-F sample, the MIL-101(Cr)-F exhibits a lower CO2 adsorbed amount. This is 

due to the presence of the NH2-functional groups on the NH2-MIL-101(Cr)-F sample, 

which improves affinity and CO2 storage capacity [52]. Furthermore, the amount of 

CO2 adsorption on unfunctionalised MIL-101(Cr) samples follows the order MIL-

101(Cr)-F > MIL-101(Cr)-OH. Since the F atom presents a higher electronegativity 
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than the O atom and a smaller atom size than the OH group, the adsorbed amount of 

CO2 molecules on MIL-101(Cr)-F is reduced when the -OH group replaces the F atom. 

Therefore, the adsorption amount of CO2 on MIL-101 samples follows the order of 

NH2-MIL-101(Cr)-F > MIL-101(Cr)-F > MIL-101(Cr)-OH > NH2-MIL-101(Al)-F > NH2-

MIL-101(Fe)-F.  

Moving on to ZIF-8 and ED-ZIF-8, they show the least and penultimate adsorption 

amounts of CO2 among all the MOF candidates, at 0.42 mol/kg and 0.73 mol/kg, 

respectively. This implied that the CO2 adsorption capacities have been improved 

roughly twice on ED-ZIF-8 than on ZIF-8, mainly due to improved BET surface area 

and the pore volume (Table 5-6), as their surface chemistry is similar [25].  

Table 5-6 The BET surface area and pore volume of ZIF-8 and modified ZIF-8 (ED-ZIF-8) [25]. 

Materials 
BET surface area 

[m2/g] 

Total pore volume 

[cm3/g] 

Micropore volume 

[cm3/g] 

ZIF-8 1025 0.54 0.45 

ED-ZIF-8 1428 0.75 0.61 

 

Overall, Mg-MOF-74 is the best adsorbent for CO2 adsorption in terms of CO2 

adsorption capacity. Most MOF candidates have a CO2 adsorption capacity less than 

zeolites and carbons. But their selectivity to N2 is better than other adsorbents. The 

isotherms of MOFs adsorbents have demonstrated again that pore surface area, 

available active sites, and the activity of the active sites play a crucial role in adsorbent 

selection for CO2/N2.  

 

5.6.4 Isotherms on polymers 

Figures 5-5 illustrate the CO2 and N2 isotherms on triazine-based benzimidazole-

linked polymers at 298 K. TBILP-1 and TBILP-2 were synthesised by condensation 

reaction involving 2,4,6-tris(4-formylphenyl)-1,3,5-triazine (TFPT) with 1,2,4,5-

benzenetetraamine tetrachloride (BTA) and 2,3,6,7,14,15-hexaaminotriptycene 

(HATT), respectively. As the synthesis procedure are very similar, their surface may 
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have similar chemistry and similar active sites [53].  The difference in CO2 adsorption 

capacity between TBILP-1 and TBILP-2 is directly related to their BET surface area. 

According to Sekizkardes et al. [53], the BET surface areas of TBILP-1 and TBILP-2 

are 330 m2/g and 1,080 m2/g, respectively, and the pore volumes are 0.3 cm3/g and 

0.6 cm3/g, respectively. The higher BET surface area and pore volume of TBILP-2 

result from the unique triptycene core in the TBILP-2, leading to a higher BET surface 

area and pore volume. The triptycene core structure is detrimental to the formation of 

the interpenetrating networks as it provides a high internal molecular free volume [53]. 

TBILP-2 exhibits higher CO2 and N2 uptake amounts than TBILP-1. Specifically, at 1 

bar, the maximum CO2 uptake on TBILP-2 (3.3 mol/kg) is two times higher than that 

on TBILP-1 (1.7 mol/kg).  

 

 

(a) 
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Figure 5-5 (a) CO2 isotherms and (b) N2 isotherms on TBILPs at 298 K and within the pressure range of 0-1 bar. 

 

5.7 Adsorbent performance in a five-step VSA process 

The CO2 and N2 recovery of five-step VSA processes equipped with different 

adsorbents are calculated based on the equilibrium theory model mentioned in 

Chapter 3 and Section 5.3. Again, the equilibrium theory is an ideal model for 

predicting the upper capability limit of a P/VSA process [54]. The adsorption bed is 

initially presumed to be saturated with pure N2 at a temperature of 298 K and a 

pressure of 1 bar. As the VSA cycle is assumed to be in a cyclic steady state, only one 

cycle is considered for the calculation. The binary flue gas containing 15% CO2 and 

85% N2 is fed to the column at 1 bar and 298 K, while the adsorbent bed is regenerated 

under 0.8, 1.5, and 3 kPa. The length and radius of the column are assumed to be 1 

m and 0.1 m, respectively. The bed void fraction of all the adsorbent candidates is 

assumed to be constant at 0.37, ensuring that all the adsorbed components have the 

same opportunities to contact the adsorbents inside the column when packed with 

each adsorbent candidate.  

(b) 
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It is important to note that if the CO2 adsorption isotherm is described by the Dual-site 

Langmuir-Freundlich (DSLF) model, the value of 𝛽𝐶𝑂2
(𝑃𝐿 , 0) is meaningless due to its 

negative exponential nature. Hence, the amount of purge gas and N2 recovery cannot 

be calculated. The number of moles entering and/or leaving the column during each 

step, as well as the product recoveries for all adsorbent candidates, are listed in Table 

5-7.   

The separation performance of a VSA system is determined by adsorption capacity 

and desorption ability during a VSA cycle. The CO2 recovery is contributed by the 

adsorption, heavy rinse, and blowdown steps, which are highly dependent on the 𝜃𝐶𝑂2 

values (Equation 5-15), and the 𝜃𝐶𝑂2 values are significantly determined by the CO2 

isotherm slope (Equation 3-13). During the adsorption step, a lower the CO2 isotherm 

slope results in a higher 𝜃𝐶𝑂2
(𝑃𝐻, 0, 𝑦𝑓)  value and, consequently, less CO2 being 

adsorbed (Equation 5-4). During the rinse step, the required CO2 amount for rinsing 

the column is determined by both CO2 isotherm slope between 0.15 and 1 bar and the 

N2 isotherm slope (Equation 5-7), while the CO2 loss during the rinse step is 

determined by the N2 isotherm slope alone (Equation 5-6). During the blowdown step, 

the amount of CO2 produced is related to the CO2 isotherm slopes between 0 and 1 

bar, as well as between 0 and PL.  

The CO2 recoveries presented in Table 5-7 indicate that the adsorbents with the 

highest CO2 adsorption capacity do not necessarily give the highest CO2 recovery in 

a VSA system; this outcome is significantly affected by the shape of the CO2 isotherm. 

The adsorbents with a steep gradient in their CO2 isotherm can rapidly reach a high 

adsorption level at very low CO2 pressures, but the adsorbed CO2 amount is reduced 

with the CO2 pressure increasing. Such adsorbents need a much lower desorption 

pressure to release the CO2 during the blowdown step. For example, the CO2 

adsorbed amount on MFI increases gently with rising pressure within 0 and 1 bar, 

while zeolite A saturates with CO2 dramatically when the pressure is under 0.04 bar. 

The difference in the CO2 isotherm shapes indicates that CO2 is easier to desorb from 

MFI during the blowdown step compared to zeolite A. This implies that under the same 

desorption pressure, equipping the MFI shows a higher CO2 recovery than using 

zeolite A, as less CO2 remains in the column and more CO2 is produced. With a 
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desorption pressure of 0.03 bar, 89% of CO2 is desorbed from MFI, while only 44% is 

desorbed from zeolite A. 
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Table 5-7 Recoveries of N2 and CO2 of the five-step VSA process packed with different adsorbent materials with three desorption pressure, 0.8 kPa, 1.5 kPa, and 3 kPa. 

     PL = 0.8 kPa PL = 1.5 kPa PL = 3 kPa 

Zeolites 𝑁𝐹𝐼
a 𝑁𝑅𝐼

b 𝑁𝑅𝑂
c 𝑁𝑓𝑒𝑒𝑑

d 𝑁𝐵𝑂
e 𝑁𝑝𝑟𝑜𝑑

f 𝑅𝑒𝑁2
g 𝑅𝑒𝐶𝑂2

h 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2
 𝑅𝑒𝐶𝑂2

 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2
 𝑅𝑒𝐶𝑂2

 

MFI 99.5 27.8 5.9 93.6 40.8 13.0 98.7 92.3 39.8 12.1 97.5 85.8 38.0 10.2 95.0 72.7 

CECA zeolite 13X 432.2 57.1 6.9 425.3 114.0 56.8 98.0 89.1 108.5 51.4 96.2 80.5 98.4 41.3 92.4 64.7 

LTA-4A 277.4 32.6 3.2 274.2 66.9 34.3 96.6 83.4 62.3 29.7 93.6 72.2 55.0 22.4 87.3 54.4 

PSAO2 HP MolsivTM 403.6 37.8 3.6 400.0 87.7 49.9 96.6 83.2 80.8 43.0 93.6 71.7 70.0 32.2 87.1 53.6 

Zeolite X 342.0 24.4 6.5 335.5 60.8 36.4 93.1 72.2 53.7 29.3 87.1 58.2 44.8 20.4 74.1 40.5 

4A BFK 541.2 23.0 8.4 532.7 78.7 55.8 92.7 69.8 66.2 43.2 86.4 54.1 50.5 27.5 72.8 34.5 

5A BFK 657.8 22.8 10.7 647.1 82.2 59.4 80.9 61.2 68.8 46.0 64.1 47.4 53.1 30.3 28.3 31.2 

Zeolite A 455.7 24.9 8.4 447.3 53.1 28.3 71.0 42.1 45.1 20.2 45.6 30.1 38.1 13.2 -9.0 19.7 

Carbons 𝑁𝐹𝐼
a 𝑁𝑅𝐼

b 𝑁𝑅𝑂
c 𝑁𝑓𝑒𝑒𝑑

d 𝑁𝐵𝑂
e 𝑁𝑝𝑟𝑜𝑑

f 𝑅𝑒𝑁2
g 𝑅𝑒𝐶𝑂2

h 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2
 𝑅𝑒𝐶𝑂2

 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2
 𝑅𝑒𝐶𝑂2

 

BLP AC 21.8 16.3 1.6 20.2 19.1 2.9 99.0 94.1 19.0 2.7 98.2 89.0 18.7 2.4 96.4 79.6 

Coconut shell Acticarb 91.6 32.8 4.6 87.0 44.6 11.8 98.2 90.2 43.6 10.8 96.6 82.5 41.7 8.9 93.2 68.1 

P-NP 59.5 15.6 2.9 56.6 23.2 7.6 98.2 90.0 22.5 7.0 96.6 82.1 21.3 5.7 93.2 67.3 

NC-1-700 129.1 44.6 9.6 119.4 60.4 15.9 97.9 88.7 58.9 14.4 96.0 80.2 56.2 11.6 92.1 65.0 

NC-1-600 201.2 44.6 8.5 192.7 70.1 25.5 97.7 88.1 67.6 22.9 95.7 79.3 63.1 18.5 91.5 63.8 

NC-2-600 208.3 53.1 8.0 200.3 79.3 26.2 97.5 87.1 76.5 23.4 95.3 77.9 71.8 18.7 90.5 62.3 

NC-0.5-600 185.5 37.8 8.2 177.3 61.0 23.1 97.5 87.0 58.5 20.7 95.3 77.7 54.3 16.4 90.5 61.7 

Biochar 88.4 18.4 4.8 83.6 29.2 10.8 96.0 85.9 28.1 9.6 92.5 76.9 26.1 7.7 85.1 61.2 

NC-1-500 189.4 36.0 7.2 182.2 58.3 22.3 95.7 81.5 55.4 19.4 92.0 70.8 51.1 15.1 84.0 55.2 
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Recoveries of N2 and CO2 of the five-step VSA process packed with different adsorbent materials with three desorption pressure, 0.8 kPa, 1.5 kPa, and 3 kPa (continued). 

     PL = 0.8 kPa PL = 1.5 kPa PL = 3 kPa 

MOFs 𝑁𝐹𝐼
a 𝑁𝑅𝐼

b
 𝑁𝑅𝑂

c
 𝑁𝑓𝑒𝑒𝑑

d
 𝑁𝐵𝑂

e
 𝑁𝑝𝑟𝑜𝑑

f
 𝑅𝑒𝑁2

g
 𝑅𝑒𝐶𝑂2

h
 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2

 𝑅𝑒𝐶𝑂2
 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2

 𝑅𝑒𝐶𝑂2
 

UiO-66 39.8 25.2 2.8 37.1 30.4 5.2 99.0 93.9 30.1 4.9 98.1 88.5 29.5 4.3 96.2 77.8 

MIL-101(Cr)-F 59.7 38.8 5.8 54.0 46.3 7.6 99.0 93.8 45.9 7.2 98.1 88.4 45.0 6.2 96.3 77.2 

MIL-101(Cr)-OH 58.1 37.6 5.6 52.6 45.0 7.4 99.0 93.7 44.5 7.0 98.1 88.3 43.6 6.0 96.2 76.5 

MIL-101(Cr) 82.9 38.9 4.3 78.7 50.0 11.1 98.9 93.7 49.3 10.4 98.0 88.2 48.0 9.1 96.0 76.8 

NH2-MIL-101(Al)-F 64.6 31.9 5.8 58.8 40.2 8.3 98.9 93.5 39.7 7.8 98.0 87.9 38.6 6.7 96.0 75.6 

MMC1 25.2 15.8 2.2 23.0 19.0 3.2 98.9 93.3 18.8 3.0 97.9 87.6 18.4 2.6 95.7 74.8 

NH2-MIL-101(Fe)-F 43.1 23.4 5.1 38.0 28.7 5.3 98.9 93.0 28.3 5.0 97.9 87.1 27.6 4.2 95.8 74.4 

MOF-177 7.0 6.2 1.6 5.5 7.0 0.8 99.1 93.1 6.9 0.7 98.2 87.1 6.8 0.6 96.5 74.2 

MOF-505 110.4 41.2 4.6 105.7 55.9 14.6 -- 92.4 54.9 13.7 -- 86.2 52.9 11.7 -- 73.5 

MOF-505@5GO 152.7 56.3 5.1 147.6 76.8 20.4 -- 92.3 75.4 19.0 -- 86.0 72.6 16.3 -- 73.4 

MOF-14 57.2 26.1 3.1 54.1 33.5 7.4 98.2 91.7 33.0 6.9 96.7 85.2 32.0 5.9 93.4 72.6 

UTSA-16 291.2 36.9 3.2 288.0 75.9 39.0 98.2 90.2 72.5 35.6 96.6 82.4 73.0 36.1 93.3 83.5 

ED-ZIF-8 19.9 11.0 1.6 18.3 13.4 2.4 -- 86.7 13.2 2.2 -- 79.1 12.8 1.8 -- 65.2 

NH2-MIL-101(Cr)-F 107.1 44.0 6.5 100.6 57.3 13.3 97.8 88.3 56.0 12.0 95.9 79.6 53.7 9.7 91.7 64.1 

ZIF-8 15.7 5.8 1.5 14.2 7.5 1.8 -- 82.2 7.3 1.6 -- 73.7 7.0 1.2 -- 57.7 

Cu-TDPAT 174.8 64.5 4.9 169.9 83.1 18.6 -- 73.0 80.4 15.9 -- 62.6 77.1 12.6 -- 49.3 

MFC6 519.0 49.2 11.7 507.2 103.2 54.1 71.2 71.0 94.6 45.4 46.1 59.7 82.7 33.5 -7.9 44.1 

Mg-MOF-74 767.3 40.0 16.2 751.1 114.5 74.4 91.4 66.1 96.2 56.1 83.8 49.8 74.8 34.8 67.6 30.9 
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Recoveries of N2 and CO2 of the five-step VSA process packed with different adsorbent materials with three desorption pressure, 0.8 kPa, 1.5 kPa, and 3 kPa (continued). 

     PL = 0.8 kPa PL = 1.5 kPa PL = 3 kPa 

TBILPs 𝑁𝐹𝐼
a 𝑁𝑅𝐼

b
 𝑁𝑅𝑂

c
 𝑁𝑓𝑒𝑒𝑑

d
 𝑁𝐵𝑂

e
 𝑁𝑝𝑟𝑜𝑑

f
 𝑅𝑒𝑁2

g
 𝑅𝑒𝐶𝑂2

h
 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2

 𝑅𝑒𝐶𝑂2
 𝑁𝐵𝑂 𝑁𝑝𝑟𝑜𝑑 𝑅𝑒𝑁2

 𝑅𝑒𝐶𝑂2
 

TBILP-2 137.1 54.3 4.5 132.6 72.8 18.5 98.8 92.9 71.6 17.3 97.7 86.9 69.2 14.9 95.3% 74.8 

TBILP-1 85.1 27.1 2.3 82.8 38.5 11.5 98.6 92.3 37.7 10.7 97.4 85.9 36.1 9.0 94.9% 72.7 

a. The number of moles that enter the column during the adsorption step, mol. 

b. The number of moles that enter the column during the rinse step, mol. 

c. The number of moles that leave the column during the rinse step, mol.  

d. The actual number of moles that enter the column, mol.  

e. The number of moles that leave the column during the blowdown step, mol.  

f. The actual number of moles that leave the column, mol.  

g. The N2 recovery, %.  

h. The CO2 recovery, %
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Table 5-7 clearly show that CO2 recovery increases with the decreasing of the 

desorption pressure. When the desorption pressure is 0.8 kPa, CO2 recovery is 

greater than 94% for almost all the adsorbents. When the desorption pressure is 1.5 

kPa, CO2 recovery for most adsorbents is less than 85%. When the desorption 

pressure is 3 kPa, CO2 recovery for most adsorbents is less than 74%. CO2 recovery 

in a VSA process is determined not only on the inherent adsorption capacity of 

adsorbents but also on the applied desorption pressure during the blowdown step, as 

well as the CO2 loss in the rinse step. Adsorbents with isotherms with a dramatic 

increase in CO2 adsorption at very low CO2 pressure require a much lower desorption 

pressure to release the adsorbed CO2. This indicates that adsorbents with high 

capacity for adsorbing CO2 at a low pressure would consume higher energy to 

generate a relatively low pressure to desorb the CO2. Therefore, when selecting CO2 

adsorbents, a trade-off between desorption pressure and CO2 capture performance is 

required to achieve an economical process. Selecting an adsorbent with the highest 

CO2 adsorption capacity is unnecessary. The energy consumption also should be 

optimised. 

Among all zeolite materials, the CO2 isotherm slope in the low-pressure region for MFI 

is the lowest, giving the highest 𝜃𝐶𝑂2
(𝑃𝐻, 0, 𝑦𝑓) value. This results in the lowest inlet 

CO2 amount (14.92 mol) during the feed step, which is 2-6 times lower than that of 

other zeolite samples. During the rinse step, the CO2 amount leaving the column is 

proportional to the N2 isotherm slope. Equipping with MFI results in around a 6% loss 

of the CO2 amount in the feed, while equipping with other zeolites only results in 

approximately 1-2% loss. However, the CO2 loss amounts during the rinse step are 

within the range of 0.5 and 1.6 mol for all zeolites, which has fewer effects on CO2 

recovery than the initial feed CO2 amount (Equation 5-15). Hence, the actual feed CO2 

amount (𝑁𝐹𝐼 − 𝑁𝑅𝑂 ) on MFI is calculated at 14.04 mol. On the other hand, the 

percentage of CO2 desorption from MFI is higher than that from other zeolites, as 

observed in the CO2 isotherm. With the desorption pressure of 0.03 bar, although the 

initial CO2 amount inside the column is lower compared to other zeolites due to the 

more downward CO2 isotherm slope between 0 and 1 bar, less CO2 remains in the 

column because the CO2 isotherm slope between 0 and 0.03 bar is lower, indicating 

more CO2 being desorbed. At the end of the blowdown step, the ratio between the 

initial and remaining CO2 amount on MFI is 10, while on zeolite 13X, it is only 5. It is 
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calculated that 89% of the CO2 is desorbed at the pressure of 0.03 bar, and 73% of 

the desorbed CO2 is used as the rinse gas. Hence, the actual CO2 production amount 

(𝑁𝐵𝑂 − 𝑁𝑅𝐼) is 12.96 mol, giving a high CO2 recovery of 72.8%.  

Likewise, among all carbon samples, the feed amount of CO2 during the adsorption 

step is the lowest, at 3.27 mol, when the VSA process is equipped with BPL AC. The 

lowest N2 isotherm slope gives in the lowest loss amount of CO2 during the rinse step, 

which is 0.24 mol. The actual feed amount of CO2 on BPL AC is 3.03 mol, which is 3-

10 times less than that of other carbons. In addition, 96% of the CO2 is desorbed by 

BPL AC under the desorption pressure of 0.03 bar, which is 7-20% higher than other 

carbons. 87% of the CO2 product is employed as the rinse gas, compared to 70-80% 

for other carbon samples. Thus, the actual produced CO2 amount is 2.4 mol, which is 

2-8 times lower than other carbons, giving the highest CO2 recovery of 78.6%.  

On the contrary, equipping the NC-1-500 can recover only 55.2% of the CO2 at the 

desorption pressure of 0.03 bar, which is the lowest among all carbon samples. It is 

found that the inlet CO2 amount during the adsorption step on all NC-X-T samples 

except NC-1-700 is similar due to the comparable shape of CO2 isotherms, following 

the order of NC-2-600 > NC-1-600 > NC-1-500 > NC-0.5-600. Since the CO2 loss 

amounts during the rinse step are no higher than 1.5 mol, they are negligible when 

considering the actual feed CO2 amount. During the blowdown step, the CO2 isotherm 

slope between 0 and 0.03 bar is higher than in other NC-X-T samples, resulting in a 

lower desorbed CO2 amount. Since the CO2 isotherm slopes between 0.15 and 1 bar 

on NC-X-T samples are similar, the actual produced CO2 amount on NC-1-500 is also 

the lowest (15.1 mol), leading to the lowest CO2 recovery at the desorption pressure 

of 0.03 bar. Likewise, due to the shape of CO2 isotherms, a difference exists between 

the materials that show a high feed CO2 amount and a low produced CO2 amount, 

giving a poor CO2 recovery. This is because adsorbents with a strong affinity for CO2 

at a low CO2 pressure require a relatively low desorption pressure to release the 

adsorbed CO2. For example, the feed CO2 amount on Mg-MOF-74 during adsorption 

is 115.1 mol, significantly higher than on other MOFs. During the blowdown step, only 

65% of the adsorbed CO2 amount can be desorbed, and around 53.5% of the CO2 

product gas is used as the rinse gas on Mg-MOF-74, which is the lowest amount 

among MOF materials at 0.03 bar, giving the actual amount of CO2 produced from 
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Mg-MOF-74 of 34.8 mol. On the other hand, the highest N2 isotherm slope on Mg-

MOF-74 causes the highest CO2 loss amount (2.43 mol) during the rinse step, which 

is far smaller than the feed CO2 amount during the adsorption step (115.1 mol). Thus, 

the actual feed CO2 amount on Mg-MOF-74 is still the largest, as the effect on the CO2 

loss amount during rinse can be negligible, resulting in a CO2 recovery of 30.9%. When 

reducing the desorption pressure, the CO2 recovery on Mg-MOF-74 has improved 

significantly due to its steep CO2 isotherm in the relative low-pressure region. 

Therefore, a suitable desorption pressure is critical, and this optimum pressure varies 

with adsorbents. Under the desorption pressure of 0.8 kPa, the CO2 recovery on Mg-

MOF-74 increased by 35.2%, reaching 66.1% in comparison with results obtained at 

3 kPa. Compared to Mg-MOF-74, UiO-66, which features a flatter CO2 isotherm, 

experienced only a 16.1% increase in CO2 recovery when the desorption pressure 

reduced from 3 kPa to 0.8 kPa.  
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5.8 Effect of desorption pressure on CO2 recovery 

 

 

 

(b) 

(a) 
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Figure 5-6 The CO2 recovery versus desorption pressure (PL) on (a) zeolites, (b) carbons, and (c) MOFs and (d) 
TBILPs at 298K within the desorption pressure range between 0.1-10 kPa. 

 

Figures 5-6 show the effect of desorption pressure on CO2 recovery for various 

adsorbent candidates employed in this study. It is found that the CO2 recovery reduces 

(d) 

(c) 
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as the desorption pressure increases. When solely considering CO2 recovery, 

regardless of the desorption pressure, MFI among all zeolites, BPL AC among all the 

carbons, and UiO-66 among all MOFs consistently exhibit the highest recovery due to 

their flat CO2 isotherm curves. Besides, the CO2 recoveries for LTA-4A and PSAO2 

HP MolsivTM remain consistently similar across different desorption pressure, 

attributing to their similar desorption ratios. Likewise, the CO2 recoveries on MIL-

101(Cr), MIL-101(Cr)-OH, MIL-101(Cr)-F, and NH2-MIL-101(Al)-F consistently exhibit 

similarity. Conversely, the 4A BFK gives a CO2 recovery similar to that of the 5A BFK 

between 6-10 kPa. With the desorption pressure reduction, 4A BFK outperforms the 

5A BFK in terms of separation performance.  Moreover, the CO2 recovery under 

different desorption pressures for most MOFs follows the order presented in Tables 5-

7, except for MOF-177. At 10 kPa, the MOF-177 has the third-worst performance 

among all the MOF samples, while the CO2 recovery improves with reducing pressure, 

ultimately reaching the same recovery value as MMC1 under 2 kPa. 

It also can be found that the different adsorbents show different effective desorption 

pressure required to reach the same CO2 recovery. For example, to achieve a CO2 

recovery higher than 90%, most MOFs and zeolites require a desorption pressure of 

≤1 kPa, while most carbons require a desorption pressure of ≤ 0.4 kPa. TBILPs, on 

the other hand, require a desorption pressure of 1 kPa. The steeper the CO2 isotherm 

slope at the initial adsorption stage, the lower the required desorption pressure to 

achieve the same CO2 recovery, the higher the energy consumed during the 

blowdown step.  

CO2 recovery, one of the process performance indicators, is different from the 

productivity or capacity of the adsorbent. Some adsorbents may have high CO2 

recovery in a PSA process, but their productivity can be low due to their low adsorption 

capacity. In other words, adsorbents with a high CO2 adsorption capacity will yield 

higher productivity at the same CO2 recovery. For example, at an 80% CO2 recovery, 

the productivity of Mg-MOF-74 is 2.8 mol/m3/cycle, whereas NH2-MIL-101(Al)-F only 

achieves 0.2 mol/m3/cycle in terms of productivity. Productivity is another 

characteristic to estimate the performance of a VSA process in relation to the step 

sequence and selected adsorbents.  



174 
 

Productivity is defined as the moles of CO2 product produced per cycle per cross-

sectional area, as calculated by the 𝑁𝐵𝑂 − 𝑁𝑅𝐼 . Figures 5-7 show the effects of 

desorption pressure on the productivity of various the adsorbent materials. As the NRI 

is significantly related to the 𝜃𝑁2
 and 𝜃𝐶𝑂2

(𝑃𝐻, 1, 𝑦𝑓) values, the changes in desorption 

pressure do not affect it. Hence, productivity is only determined by the final pressure 

during the blowdown step. It is no doubt that the productivity of all adsorbents 

decreases with the reduction of desorption pressure. Since the desorption pressure 

ranges from 0.1 kPa to 10 kPa, the shape of the CO2 isotherm on all adsorbents under 

10 kPa is mainly focused on.   

Regardless of the desorption pressure, the largest difference in CO2 isotherm slope 

between 𝑃𝐻  and 𝑃𝐿  on CECA zeolite 13X among all zeolites when the desorption 

pressure exceeds 1 kPa, resulting in the highest productivity. Likewise, the NC-2-600 

also has the highest productivity among all carbons. Besides, for the adsorbents that 

show the steep isotherm shape in the low-pressure region (0.1–10 kPa), such as 5A 

BFK, 4A BFK, NC-2-600, NC-1-600, Mg-MOF-74, and MFC6, reducing the desorption 

pressure has a more significant effect on productivity compared to the adsorbents with 

flat isotherm shapes (i.e., zeolite 13X, MFI, most carbons, and MOFs). For example, 

when the desorption pressure is reduced from 2 to 1 kPa, the productivity on 5A BFK 

increases by around 0.5 mol, while it is only 0.24 mol on CECA zeolite 13X. The 

productivity increases only by 0.06 mol for 5A BFK and 0.09 mol for CECA zeolite 13X 

when the pressure is decreased from 10 to 9 kPa. Similarly, when the desorption 

pressure reduces from 10 to 1 kPa, the productivity increases by around 2 mol for Mg-

MOF-74 and 1.4 mol for MFC6, respectively, which is 50 and 34 times higher than that 

observed for MOF-177.  

An exciting phenomenon is depicted in Figure 5-7. For zeolite adsorbents, CECA 

zeolite 13X has a higher productivity than 5A BFK and 4A BFK when the desorption 

pressure is greater than around 1 kPa. Conversely, when the desorption pressure is 

less than 1 kPa, the productivity on 5A BFK and 4A BFK is higher than that of CECA 

zeolite 13X and increases dramatically. The same phenomena can also be observed 

in MOF adsorbents. UTSA-16 has higher productivity than Mg-MOF-74 and MFC6 

when the desorption pressure exceeds 3.5 kPa. However, once the desorption 

pressure is less than 3.5 kPa, the productivity of Mg-MOF-74 and MFC6 is higher than 
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that of UTSA-16, with a dramatic increase. These adsorbents may prove to be more 

suitable for a VSA process with a low desorption pressure. Again, it is crucial to 

consider the trade-off between CO2 productivity and energy consumption in selecting 

a VSA process. 

 

 

(a) 
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(c) 

(b) 
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Figure 5-7 The productivity versus PL on (a) zeolites, (b) carbons, (c) MOFs, and (d) TBILPs at 298K within the 

desorption pressure range between 0.1-10 bar. 

 

5.9 Summary 

The main objective of this chapter is to evaluate various conventional and emerging 

adsorbent materials in their applications for CO2 capture from the flue gas consisting 

of 15% CO2 and 85% N2 by a five-step VSA process. Unlike the experimental studies 

in most research, this chapter applies the equilibrium theory model with uncoupled 

isotherms to analyse and compare the VSA cycle performance by integrating different 

adsorbents into VSA process in terms of the CO2 recovery and productivity. The VSA 

cycle comprises high-pressure adsorption, heavy rinse, counter-current 

depressurisation (blowdown), low-pressure purge, and light product pressurisation. 

During the high-pressure rinse step, heavy reflux involves delivering the pure or highly 

enriched heavy product to the column from the feed end. The rinse step comes after 

the feed step to increase the loading of heavy components inside the column, resulting 

in a pure CO2 product. Consequently, the concentration of heavy components during 

the depressurisation step is increased.  

(d) 
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In this chapter, 38 out of 140 adsorbent candidates, including zeolites, carbons, MOFs, 

and other materials, were discussed and evaluated via the five-step VSA process. The 

adsorption occurs under 1 bar and 298 K, with the desorption pressure varying from 

0.1 kPa to 10 kPa. Zeolite 13X (CECA), one of the best-known commercially available 

adsorbents, with a high CO2 adsorption capacity and selectivity against N2, is the 

benchmark material in this work. The CO2 recovery on CECA zeolite 13X was 64.7%, 

with a desorption pressure of 0.03 bar. Considering the CO2 recovery only, the MFI is 

the only zeolite adsorbent that performs better CO2 recovery than CECA zeolite 13X 

among all the zeolites, regardless of the desorption pressure, due to its flatter CO2 

isotherm. Likewise, the materials including BPL AC, UiO-66, MIL-101(Cr)-F, MIL-

101(Cr)-OH, MIL-101(Cr), NH2-MIL-101(AL)-F, MMC1, NH2-MIL-101(Fe)-F, MOF-

177, MOF-505, MOF-505@GO, MOF-14, and TBILPs also have flatter CO2 isotherms. 

The CO2 recovery is closely related to the 𝜃𝐶𝑂2
 values during the adsorption, the heavy 

rinse, and the blowdown step. Besides, the 𝜃𝐶𝑂2
 values are highly determined by the 

CO2 isotherm slope. Equipping these materials enhances the CO2 recovery compared 

to the CECA zeolite 13X since they feature a low CO2 inlet amount and a high CO2 

produced amount during a VSA cycle. The low CO2 inlet amount results from the low 

CO2 isotherm slope between 0 and 0.15 bar. A large proportion of desorbed CO2 is 

contributed by the large ratio of the CO2 isotherm slope between 0 and 1 bar to 0 and 

𝑃𝐿. With a desorption pressure of 0.03 bar, MFI, BPL AC, and UiO-66 show the highest 

CO2 recovery among the three main categories, at 72.8%, 78.6%, and 77.2%, 

respectively. On the contrary, the Mg-MOF-74, 5A BFK, 4A BFK, and zeolite X show 

a poor separation performance under 0.03 bar of desorption pressure due to their 

steep CO2 isotherms at the initial adsorption stage compared to other adsorbent 

candidates. Applying such adsorption materials requires significantly low desorption 

pressure levels, leading to more energy consumption.   

On the other hand, the material that showed a high CO2 recovery did not show high 

productivity. The productivity is calculated as the difference between the CO2 amount 

produced during the blowdown step and the inlet CO2 amount during the heavy rinse 

step. Since the rinse step is solely affected by the adsorption pressure, varying the 

desorption pressure does not affect the rinse step. Hence, the productivity is 

determined only by the blowdown step, which increases as the desorption pressure of 

all materials reduces. Moreover, productivity is also related to the shape of the CO2 
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isotherm. Under 0.1 bar, the steeper the CO2 isotherm is, the larger the CO2 amount 

produced, and the higher the productivity is. Among carbons, NC-2-600 shows the 

highest productivity, regardless of the desorption pressure. Among all zeolites, CECA 

zeolite 13X gives the highest productivity when the desorption pressure is higher than 

1 kPa, while the productivity on 5A BFK is superior to other zeolites with the desorption 

pressure lower than 1 kPa. Among MOFs, when the desorption pressure is lower than 

3.2 kPa, the Mg-MOF-74 shows the highest productivity due to its steepest CO2 

isotherm. Increasing the desorption pressure leads to the CO2 isotherm becoming 

flatter, indicating that more CO2 remains in the column as the CO2 isotherm slope 

between 0 and 𝑃𝐿 becomes larger. Hence, less CO2 is produced. Overall, productivity 

takes into account the combined effect of the VSA process and the natural adsorption 

capacity of adsorbents, rather than focusing solely on one of these factors. 
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Chapter 6 Simulation of the CO2 separation performance of a 

two-stage VSA process  

 

6.1 Introduction 

This chapter is also related to the objective (ii), which aims to further evaluate the 

adsorbent through the utilisation of a specific two-stage VSA configuration. The P/VSA 

configuration is designed based on the CO2 concentration in the feed gas. A single-

stage P/VSA process can produce high-purity (over 99%) CO2 product with high 

recovery from the high-CO2-concentration flue gas. However, such a process cannot 

obtain a high-purity and high-recovery CO2 product when the CO2 concentration in the 

feed gas is less than 20% [1]. For example, Chue et al.[1] used a three-bed seven-

step PSA process equipped with zeolite 13X to capture CO2 from two feed mixtures, 

26/74% CO2/N2 and 16/84% CO2/N2. They reported that the high purity of CO2 (over 

99%) was produced with a CO2 recovery of 70% from high-CO2-concentration flue gas 

and only 53% from low-CO2-concentration.  

A two-stage P/VSA process can recover more than 90% of CO2 with high purity from 

flue gases with a low CO2 concentration [2]. Several studies focused on the two-stage 

P/VSA process [2-6].  Riboldi et al. [3] simulated a three-bed five-step PSA process 

followed by a two-bed six-step PSA process to capture the CO2 from flue gas. Zeolite 

5A was used as the CO2 adsorbent. The three-bed five-step PSA process consisted 

of feed adsorption, pressure equalisation, co-current depressurisation, light product 

purge, and feed pressurisation. The two-bed six-step PSA process included feed 

adsorption, heavy reflux, co-current depressurisation, light product purge, and feed 

pressurisation. They achieved a CO2 recovery of 90.9% with a CO2 purity of 93%. Liu 

and co-workers [4] also applied the same adsorbent and a two-stage VPSA process 

to capture the CO2 from 15/85% CO2/N2. The front VSA process extracted 98.92% 

CO2 from the flue gas with a purity of 69.15% and sent it to the tail PSA process to 

concentrate the CO2 to over 95%. The overall CO2 recovery, CO2 purity, productivity, 

and specific energy were 91.05%, 96.05%, 0.0146 𝑘𝑔𝐶𝑂2/(𝑘𝑔𝑎𝑑𝑠ℎ) , and 645.7 

𝑘𝐽/𝑘𝑔𝐶𝑂2, respectively.  
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In Wang et al.’s [2] work, a three-bed eight-step VPSA process packed with zeolite 

13X was integrated with a two-bed six-step VPSA process filled with activated carbon 

to capture the CO2 from the dry flue gas (16.5/83.5% CO2/N2). The first VPSA unit 

consisted of feed adsorption, co-current depressurisation, heavy rinse, pressure 

equilisation, counter-current depressurisation, light product purge, and feed 

pressurisation, while the tail VPSA unit consisted of feed adsorption, co-current 

depressurisation, heavy reflux, pressure equalisation, and counter-current 

depressurisation. When the feed flowrate was 35 Nm3/h, the CO2 was enriched to 78% 

during the first VPSA unit and further concentrated to 95.6% during the second VPSA 

unit, resulting in an overall CO2 recovery of 90.2% and power consumption of 2.44 

𝑀𝐽/𝑘𝑔𝐶𝑂2. Jiang et al. [5] captured the CO2 from flue gas containing 16.5% CO2 with 

a feed flowrate of 190 Nl/min via a two-stage VPSA unit equipped with zeolite 13X. 

The first two-bed six-step VPSA process consisted of feed adsorption, pressure 

equalisation, counter-current depressurisation, light product purge, and feed 

pressurisation, while the second two-bed five-step VPSA included adsorption, 

pressure equalisation, counter-current depressurisation, and feed pressurisation. By 

integrating two stages, 93.7% of CO2 was recovered with a CO2 purity of 94.23%, 

giving energy consumption and productivity of 0.8 𝑀𝐽/𝑘𝑔𝐶𝑂2 and 3.38 𝑚𝑜𝑙/(𝑘𝑔𝑎𝑑𝑠ℎ), 

respectively. Luberti et al. [6] designed a two-stage rapid vacuum pressure swing 

adsorption (RVPSA) process to capture the CO2 from flue gas (15% CO2) packed with 

zeolite 13X. The process was configured with two RVPSA units (two-bed four-step 

Skarstrom process) in parallel in the first stage and a single RVPSA unit (two-bed four-

step Skarstrom process) in the second stage. The superficial velocity of flue gas was 

as high as 1.6 m/s, resulting in overall CO2 purity and recovery of 95% and 90.9%, 

respectively, with a bed productivity of 21.2 𝑚𝑜𝑙/(𝑘𝑔𝑎𝑑𝑠ℎ)  and specific power 

consumption of 822.9 𝑘𝐽/𝑘𝑔𝐶𝑂2.  

In this chapter, a two-bed six-step VSA process integrated with a two-bed five-step 

VSA process was simulated to achieve the target of 90% CO2 recovery and 90% CO2 

purity. The two-bed six-step VSA process includes adsorption, pressure equalisation, 

evacuation, purge, and pressurisation. The two-bed five-step VSA process consists of 

adsorption, pressure equalisation, evacuation, and pressurisation. MFI was packed 

for the first stage as it does not need a very low desorption pressure to obtain the 

desired CO2 recovery, while activated carbon was packed for the second stage. 
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Besides, zeolite 13X was selected as the adsorbent for the first stage for comparison. 

The cycle performances in terms of energy consumption and productivity were 

evaluated via the gPROMS simulation by equipping a full set of mathematical model 

equations that consider the adsorbent-gas mass transfer, the temperature variation, 

and the pressure drop along the column.  

 

6.2 Model description 

The theoretical model used to describe each of these individual columns was 

presented in Chapter 3.2, which includes mass, energy, and momentum balances 

along the gas phase, solid phase, and column wall. Once again, the basic assumption 

of this model is as follows: the pressure drop along the column is described by Ergun’s 

equation; the mass transfer between the gas and solid phases is described by the 

Linear Driving Force (LDF) model, and the gas behaviour follows the ideal gas law. 

The void fraction along the column is uniform, and the temperature inside the 

adsorbent pellet is uniform. The mass and energy transfer between the gas and solid 

phases, while the energy is only exchanged between the solid phase and the column 

wall. Variations in mass, heat, and velocity in the radial direction are neglected. Table 

6-1 list the boundary conditions for each step.  

Single-component adsorption isotherms for CO2 and N2 on MFI and AC were 

developed at different temperatures (298 K, 303 K, 313 K, 323 K, 333 K) within the 

pressure range of 0-1 bar as shown in Figures 6-1. These isotherms follow the dual-

site Langmuir model, as predicted by the following equation: 

 𝑞𝑒𝑞,𝑖 =
𝑞𝑠𝑏,𝑖𝑏𝑖𝑃𝑖

1+𝑏𝑖𝑃𝑖
+

𝑞𝑠𝑑,𝑖𝑑𝑖𝑃𝑖

1+𝑑𝑖𝑃𝑖
  (6-1) 

where 𝑞𝑠𝑏,𝑖  and 𝑞𝑠𝑑,𝑖  are the saturation solid uptake capacities on sites 1 and 2, 

respectively. 𝑏𝑖  and 𝑑𝑖  are the temperature-dependent Langmuir parameters 

expressed as: 

 𝑏𝑖 = 𝑏𝑖,0exp (
−∆𝑈𝑏,𝑖

𝑅𝑇
) (6-2) 

 𝑑𝑖 = 𝑑𝑖,0exp (
−∆𝑈𝑑,𝑖

𝑅𝑇
) (6-3) 
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when considering the binary gas mixture, the partial pressure of each component 

becomes essential. The working capacity of a given adsorbent is defined as the 

difference between the adsorbed amounts during adsorption and desorption 

conditions, as shown in Equation 6-4.  

 ∆𝑞𝑖 = 𝑞𝑎𝑑𝑠,𝑖 − 𝑞𝑑𝑒𝑠,𝑖 (6-4) 

where ∆𝑞𝑖 is the working capacity; 𝑞𝑎𝑑𝑠,𝑖 is the adsorbed amount under the adsorption 

condition, and 𝑞𝑑𝑒𝑠,𝑖 is the adsorbed amount under the desorption condition.  

The evaluation of different operating conditions for VSA processes is performed by 

engaging several performance indicators, including CO2 purity (Equation 6-5), CO2 

recovery (Equation 6-6), product productivity (Equation 6-7), and energy consumption 

(Equation 6-8), respectively.  

 𝑃𝑢𝐶𝑂2
=

∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝐸𝑉

0 𝑑𝑡+∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝑃𝑈

0 𝑑𝑡

∫ 𝑐𝑡𝑢|𝑧=0
𝑡𝐸𝑉

0 𝑑𝑡+∫ 𝑐𝑡𝑢|𝑧=0
𝑡𝑃𝑈

0 𝑑𝑡
  (6-5) 

 𝑅𝑒𝐶𝑂2
=

∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝐸𝑉

0 𝑑𝑡+∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝑃𝑈

0 𝑑𝑡

∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝐴𝐷+𝑡𝐹𝑃

0 𝑑𝑡
  (6-6) 

 𝑃𝑟𝐶𝑂2
=

(∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝐸𝑉

0 𝑑𝑡+∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝑃𝑈

0 𝑑𝑡)𝐴

𝑡𝑐𝑦𝑐𝑙𝑒𝑀𝑎𝑑𝑠
 (6-7) 

where 𝑃𝑢𝐶𝑂2
, 𝑅𝑒𝐶𝑂2

, and 𝑃𝑟𝐶𝑂2
 are the purity, recovery, and productivity of the CO2 

product, respectively.  

The specific power consumption of the VSA process is estimated directly by summing 

the power of the compressors and vacuum pumps, then divided by the amount of CO2 

captured at a cyclic steady state.  

 𝑆𝑝𝑒𝑐𝑖𝑓𝑖𝑐 𝑝𝑜𝑤𝑒𝑟 =
∫ 𝑊𝑏𝑙𝑜𝑤𝑒𝑟

𝑡𝐹𝑃+𝑡𝐴𝐷+𝑡𝐻𝑅
0 𝑑𝑡+∫ 𝑊𝑣𝑎𝑐𝑢𝑢𝑚

𝑡𝐸𝑉+𝑡𝑃𝑈
0 𝑑𝑡

(∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝐸𝑉

0 𝑑𝑡+∫ 𝑐𝐶𝑂2𝑢|𝑧=0
𝑡𝑃𝑈

0 𝑑𝑡)𝐴
  (6-8) 

where 𝑊blower is the power consumption of the compressor during feed pressurisation 

and feed step, and 𝑊vacuum is the power consumption of the vacuum pump during the 

evacuation and purge step, defined as [7]: 
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 𝑊𝑐𝑜𝑚𝑝𝑟𝑒𝑠𝑠𝑜𝑟 =
1

𝑛𝑐

𝛾

𝛾−1
𝑅𝑇 [(

𝑃𝐻

𝑃𝑎𝑡𝑚
)

𝛾−1

𝛾
− 1] 𝐹  (6-9) 

 𝑊𝑣𝑎𝑐𝑢𝑢𝑚 =
1

𝑛𝑣

𝛾

𝛾−1
𝑅𝑇 [(

𝑃𝑎𝑡𝑚

𝑃𝐿
)

𝛾−1

𝛾
− 1] 𝐹 (6-10) 

where 𝛾 is the ratio of specific heat defined by 𝐶𝑝/𝐶𝑣; 𝐹 is the molar flowrate; 𝑛𝑐 and 

𝑛𝑣 are the isentropic efficiency of the compressor and vacuum pump, respectively, 

whose values are considered 0.72 for both in this study [7].  

 

Table 6-1 Boundary conditions of each step for the two-stage VSA process. 

z=0 z=L z=0 z=L 

Adsorption Purge 

−𝐷𝑧𝑐𝑡

𝜕𝑦𝑖

𝜕𝑧
= 𝑢(𝑐𝑓,𝑖 − 𝑐𝑖) 

𝜕𝑐𝑖

𝜕𝑧
= 0 

𝜕𝑐𝑖

𝜕𝑧
= 0 −𝐷𝑧𝑐𝑡

𝜕𝑦𝑖

𝜕𝑧
= 𝑢(𝑐𝑝,𝑖 − 𝑐𝑖) 

𝑢 = 𝑢𝑓 
𝜕𝑢

𝜕𝑧
= 0 

𝜕𝑢

𝜕𝑧
= 0 𝑢 = −𝑢𝑝 

𝑇 = 𝑇𝑓 
𝜕𝑇

𝜕𝑧
= 0 

𝜕𝑇

𝜕𝑧
= 0 𝑇 = 𝑇𝑝 

 𝑃 = 𝑃𝐻 𝑃 = 𝑃𝐿  

𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 

DPE PPE 

𝜕𝑐𝑖

𝜕𝑧
= 0 

𝜕𝑐𝑖

𝜕𝑧
= 0 

𝜕𝑐𝑖

𝜕𝑧
= 0 

𝜕𝑐𝑖

𝜕𝑧
= 0 

𝑢 = 0 
𝜕𝑢

𝜕𝑧
= 0 𝑢 = 0 

𝜕𝑢

𝜕𝑧
= 0 

𝜕𝑇

𝜕𝑧
= 0 

𝜕𝑇

𝜕𝑧
= 0 

𝜕𝑇

𝜕𝑧
= 0 

𝜕𝑇

𝜕𝑧
= 0 

 
𝜕𝑃

𝜕𝑡
= 𝛼1(𝑃𝐼 − 𝑃)  

𝜕𝑃

𝜕𝑡
= 𝛼1(𝑃𝐼 − 𝑃) 

𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 
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Boundary conditions of each step for the two-stage VSA process (continued). 

z=0 z=L z=0 z=L 

Evacuation Feed pressurisation 

𝜕𝑦𝑖

𝜕𝑧
= 0 

𝜕𝑦𝑖

𝜕𝑧
= 0 −𝐷𝑧𝑐𝑡

𝜕𝑦𝑖

𝜕𝑧
= 𝑢(𝑐𝑓,𝑖 − 𝑐𝑖) 

𝜕𝑦𝑖

𝜕𝑧
= 0 

𝜕𝑢

𝜕𝑧
= 0 𝑢 = 0 

𝜕𝑢

𝜕𝑧
= 0 𝑢 = 0 

𝜕𝑇

𝜕𝑧
= 0 

𝜕𝑇

𝜕𝑧
= 0 𝑇 = 𝑇𝑓 

𝜕𝑇

𝜕𝑧
= 0 

𝜕𝑃

𝜕𝑡
= 𝛼2(𝑃𝐿 − 𝑃)  

𝜕𝑃

𝜕𝑡
= 𝛼3(𝑃𝐻 − 𝑃)  

𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 𝑇𝑤 = 𝑇𝑎 

 

6.3 Adsorbent Materials 

Two adsorbents were used to capture CO2 from the dry flue gas: MFI and activated 

carbon (Activated Carbon Technologies Pty Ltd., Australia) (details can be found in 

Section 5.2). The pure-component CO2 and N2 adsorption isotherms on MFI were 

reported by Bahamon and Vega [8], while those on activated carbon were presented 

by Xu et al. [9], and are listed in Table 6-2. According to the isotherms of adsorbents 

MFI and activated carbon for CO2 and N2 presented in Figures 6-1, it becomes evident 

that the adsorption of CO2 and N2 on both adsorbents is pressure favoured, but not 

the temperature favoured. The adsorption of CO2 and N2 increases with increasing the 

gas partial pressure and decreases with increasing gas temperature. Specifically, for 

MFI, CO2 adsorption takes an index increase with rising pressure, while N2 adsorption 

rises a linear trend with the pressure. This means that achieving superior CO2 and N2 

separation through CO2 desorption can be accomplished at lower pressures. For 

activated carbon, it displays a similar exponential increase in CO2 adsorption with 

increasing pressure, but N2 adsorption lies between the linear line and index curve. 

This means that N2 adsorption on activated carbon is more vital than on MFI. During 

the desorption process, more fraction of N2 will remain adsorbed on activated carbon 

than on MFI. The adsorption isotherms also indicate that activated carbon has a higher 

CO2 adsorption capacity and higher separation efficiency of CO2 from N2. 
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Figure 6-1 The isotherms of (a) CO2 on MFI, (b) N2 on MFI, (c) CO2 on activated carbon, and (d) N2 on activated 

carbon within the pressure range of 0-1 bar under different temperatures.  

 

 

 

 

 

(a) (b) 

(c) (d) 
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Table 6-2 The isotherm parameters of the MFI [8] and activated carbon [9]. The adsorption of CO2 and N2 on 

both MFI and activated carbon follows the Dual-site Langmuir (DSL) model. 

Parameters 
MFI [8] Activated carbon [9] 

CO2 N2 CO2 N2 

𝑞𝐴 [mol/kg] 2.0 6.6 0.591 1.832 

𝑞𝐵 [mol/kg] 1.9 3.8 7.506 0 

𝑏0𝐴 [1/kPa] 3.48 × 10−7 7.00 × 10−8 31381 16518 

-𝐸𝐴 [J/mol] 28000 20000 19843 0 

𝑏0𝐵 [1/kPa] 1.80 × 10−5 8.00 × 10−8 4.05 × 10−7 3.06 × 10−6 

-𝐸𝐵 [J/mol] 12000 20000 1.69 × 10−6 0 

The meaning of symbols is presented in Section 6.2. 

 

6.4 Model validation 

To validate the mathematical model presented in Chapter 3.2, a basic four-step VSA 

process consisting of adsorption, blowdown, evacuation, and feed pressurisation (as 

shown in Figure 6-2), packed with zeolite 13X, was simulated by gPROMS (PSE 

Enterprise, UK), and the results were compared with the model reported by 

Haghpanah et al. [10]. The dry flue gas containing 15% CO2 and 85% N2 enters the 

column at 298 K and 1 bar, with a fixed interstitial velocity of 0.27 m/s. The column's 

inner radius is 0.1445 m, and the length is 1 m. When the desorption pressure was 

0.03 bar, the CO2 recovery and purity were obtained to be 85% and 81%, respectively, 

under the following operating conditions: 𝑡𝐴𝐷 = 74.6𝑠, 𝑡𝐵𝐷 = 60.1𝑠, 𝑡𝐸𝑉 = 85.4𝑠, 𝑡𝑃𝑅 =

20𝑠 . These results closely align with the values reported by Haghpanah et al. 

(recovery=88% and purity=80%), which means that the model applied in this study is 

validated and suitable for the simulation of the two-stage VSA process. 
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Figure 6-2 The scheme of the basic four-step VSA process, including feed pressurisation (FP), adsorption (AD), 

blowdown (BD), and evacuation (EV).  

 

Tables 6-3 summarise the previous study on capturing CO2 from the flue gas to 

compare the CO2 separation performance of two-stage and single-stage 

configurations using different P/VSA processes. The data shows that two-stage 

configurations are generally superior to single-stage ones with much higher CO2/N2 

separation efficiency. For all two-stage configurations, both achieved CO2 recovery 

and purity are greater than 90%, close to 95%.  

Among all the single-stage cases, it is worth noting that only 6 cases [10-15] achieved 

90% or above in both CO2 recovery and purities. However, the energy consumption 

associated with the two-stage processes generally surpasses that of single-stage 

processes. The effects of the step sequence on the separation efficiency and energy 

consumption are complex, as they depend not only on the number of beds and step 

sequences but also on the operational conditions and adsorbents used. For example, 

the configuration involving a two-bed six-step with adsorption, pressure equalisation, 

co-current depressurisation, counter-current depressurisation, and feed pressurisation 

achieved 90% CO2 recovery and 90% CO2 purity when packing zeolite 13X or Mg-

MOF-74 [11]. The associated energy consumptions were 0.077 MJ/kg and 0.095 

MJ/kg for zeolite 13X and Mg-MOF-74, respectively. However, the configuration of a 

two-bed six-step with adsorption, co-current depressurisation, counter-current 
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depressurisation, product pressurisation, and feed pressurisation achieved 90% of 

CO2 recovery, but CO2 purity was only 30-40%, even though 13X was used as 

adsorbent [16].  Therefore, for model validation, a basic four-step VSA process 

consisting of adsorption, co-current depressurisation (or blowdown), counter-current 

depressurisation (or evacuation), and feed pressurisation was used. In the context of 

CO2 separation from the dry flue gas, a two-stage VSA process was simulated.  
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Table 6-3 Summary of the previous study on CO2 separation from the flue gas with two-stage configurations. 

Wang et al.[2] 

1st stage 
3-bed 8-step: AD, CoD, HR, DPE, CnD, PU, PPE, FP 

2nd stage 
2-bed 6-step, AD, CoD, HR, DPE, CnD, PPE 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.4 Adsorbent: activated carbon Sizeg: L=1, D=0.2 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

16.5 35.5 Nm3/h 122 50 
1st stage: 8 

2nd stage: 20 
303-323 0.036 0.036 

1st stage: 90.2 

2nd stage: 100 

Overall: 90.2 

1st stage: 74.5 

2nd stage: 95.6 

Overall: 95.6 

- 

1st stage: 2.04 

2nd stage:  0.4 

Overall: 2.44 

 Riboldi et al. [3] 

1st stage 
3-bed 5-step, AD, HR, CoD, PU, FP 

2nd stage 
2-bed 6-step, AD, DPE, CoD, PU, PPE, FP 

Adsorbent: zeolite 5A Sizeg: N/A Adsorbent: zeolite 5A Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

14.3 781 kg/s 100 N/A 10 293 N/A N/A 90.9 93 - - 

Liu et al. [4] 

1st stage 
3-bed 5-step, AD, HR, CoD, PU, FP 

2nd stage 
2-bed 6-step, AD, DPE, CoD, PU, PPE, FP 

Adsorbent: zeolite 5A Sizeg: L=0.2, D=0.02 Adsorbent: zeolite 5A Sizeg: L=0.2, D=0.02 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.8 SLPM 150 70 15 298 
1st stage: 0.25 

2nd stage: 0.182 
0.5 

1st stage: 98.92 

2nd stage: 91.97 

Overall: 91.05 

1st stage: 69.15 

2nd stage: 96.05 

Overall: 96.05 

1st stage: 0.02 

2nd stage: 0.06 

Overall: 0.0146 

1st stage: 0.45 

2nd stage: 0.15 

Overall: 0.65 
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Summary of the previous study on CO2 separation from the flue gas with two-stage configurations (continued). 

Jiang et al.[5] 

1st stage 
2-bed 6-step, AD, DPE, CnD, PU, PPE, FP 

2nd stage 
2-bed 5-step, AD, DPE, CnD, PPE, FP 

Adsorbent: zeolite 13X Sizeg: N/A Adsorbent: zeolite 13X Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

16.5 
190 

NL/min 
150 - 

1st stage: 6 

2nd stage: 10 
298 

1st stage: 0.055 

2nd: - 
- 

1st stage: 53.62 

2nd stage: 94.23 

Overall: 94.23 

1st stage: 99.09 

2nd stage: 93.7 

Overall: 93.7 

3.38 0.8 

Luberti et al. [6] 

1st stage 
2-bed 4-step, AD, CnD, PU, FP 

2nd stage 
2-bed 4-step, AD, CnD, PU, FP 

Adsorbent: zeolite 13X Sizeg: L=1.2, D=1.2 Adsorbent: zeolite 13X Sizeg: L=1, D=1 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

13.3 1.83 m3/s 166 - 
1st stage: 7.5 

2nd stage: 7.5 
298 

1st stage: 0.03 

2nd stage: 0.01 
- 

1st stage: 98.3 

2nd stage: 95 

overall:  95 

1st stage: 55.0 

2nd stage: 92.5 

Overall: 90.9 

1st stage: 28.1 

2nd stage: 94.3 

Overall: 21.2 

1st stage: 

0.57 

2nd stage: 

0.25 

Overall: 0.82 

a. CO2 mole fraction in the feed flue gas; b. Feed gas flowrate; c. Pf, feed pressurisation, kPa; PI, intermediate pressure, kPa; PL, desorption pressure; d. Feed temperature, K; e. P/F, purge-to-

feed ratio; R/F, rinse-to-feed ratio; f. Re, recovery, %; Pu, purity, %; Productivity, mol/(kgadsh); En, energy consumption, MJ/kg g. L, column length, m; D, column diameter, m.  
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Table 6-4 Summary of the previous study on CO2 separation from the flue gas with single-stage configurations. 

Agarwal et al. [17] 
2-bed 4-step: AD, CnD, PU, LPP 

Adsorbent: zeolite 13X Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 - 276.4 - 21.75 310 - - 53.4 40 - - 

Agarwal et al. [17] 
2-bed 6-step: AD, HR, CoD, CnD, HR, FP 

Adsorbent: zeolite 13X Sizeg: L=5, D=3 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 - 450 - 85 310 - - 80.09 95 - 
637.25 

kWh/tonne 

Agarwal et al. [17] 
2-bed 8-step: AD, HR, DPE, CnD1, CnD2, PU, PPE, FP 

Adsorbent: zeolite 13X Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 - 182.3 - - 310 - - 85 90 - 
464.76 

kWh/tonne 

Nikolaidis et al. [11] 
2-bed 6-step: AD, DPE, CoD, CnD, PPE, FP 

Adsorbent: zeolite 13X Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.113 lt/s stp 138 - 2.2 298 - - 90 90 - 
0.077 

MJ/kg 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Nikolaidis et al. [11] 
2-bed 6-step: AD, DPE, CoD, CnD, PPE, FP 

Adsorbent: Mg-MOF-74 Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.113 lt/s stp 150 - 1.5 298 - - 90 90 - 
0.095 

MJ/kg 

Wang et al. [18] 
3-bed 8-step: AD, CoD, HR, DPE, CnD, PU, PPE, FP 

Adsorbent: zeolite 13X Sizeg: L=1 m, D=0.4 m 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15.5 37 Nm3/h 117 - 7-8 313, 293 0.76 0.5 90.3 75.7 0.17 mol/m3s 
2.08 

MJ/kg 

Wang et al. [18] 
3-bed 8-step: AD, CoD, HR, DPE, CnD, PU, PPE, FP 

Adsorbent: zeolite 5A Sizeg: L=1, D=0.4 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

16 39.8 Nm3/h 117 - 7-8 313, 293 0.47 0.47 86 81 0.18 mol/m3s 
2.64 

MJ/kg 

Shen et al. [19] 
1-bed 4-step: AD, CnD, PU, FP 

Adsorbent: activated carbon Sizeg: L=0.557, D=0.05 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 2 SLPM 131.3 - 10 303 0.075 - 55.35 48.56 1.64 mol/kg/h - 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Nikolaidis et al. [12] 
2-bed 6-step: AD, DPE, CoD, CnD, PPE, LPP 

Adsorbent: zeolite 13X Sizeg: L/D=8.72 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.128 lt/s_stp 146 - 1.5 298 - - 90 95 13.1 mol/kg/h 
1.0 

MJ/kg 

Nikolaidis et al. [12] 
2-bed 6-step: AD, DPE, CoD, CnD, PPE, LPP 

Adsorbent: modified zeolite 13X Sizeg: L/D=3.24 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.105 lt/s_stp 175 - 3.0 298 - - 90 95.61 
10.72 

mol/kg/h 

0.89 

MJ/kg 

Rajagopalan et al. [13] 
2-bed 4-step: AD, CoD, CnD, LPP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.289 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.01 m3/s 100 - 3.3 298 - - 90 90 - - 

Rajagopalan et al. [13] 
2-bed 4-step: AD, CoD, CnD, LPP 

Adsorbent: Mg-MOF-74 Sizeg: L=1, D=0.289 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.009 m3/s 100 - 3.1 298 - - 90 90 - - 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Rajagopalan et al. [13] 
2-bed 4-step: AD, CoD, CnD, LPP 

Adsorbent: UTSA-16 Sizeg: L=1, D=0.289 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.013 m3/s 100 - 3.3 298 - - 90 90 - - 

Haghpanah et al. [10] 
1-bed 4-step: AD, CoD, CnD, FP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.289 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.014 m3 /s 100 - 2 298 - - 90 90 - 
0.536 

MJ/kg 

Haghpanah et al. [14] 
1-bed 6-step: AD, HR, CoD, CnD, PU, LPP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.289 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 0.005 m/s 100 - 3 298 - - 98.5 99.4 - - 

Krishnamurthy et al. [20] 
1-bed 4-step: AD, CoD, CnD, FP 

Adsorbent: zeolite 13X Sizeg: L=0.867, D=0.6 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 - 150 - 2 298 - - 86.4 95.9 
1.17 

tonne/m3/day 

1.7 

MJ/kg 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Krishnamurthy et al. [20] 
2-bed 4-step: AD, CoD, CnD, LPP 

Adsorbent: zeolite 13X Sizeg: L=0.867, D=0.6 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 - 150 - 2 298 - - 89.7 94.8 
1.17 

tonne/m3/day 

1.71 

MJ/kg 

Choi et al. [21] 
3-bed 7-step: AD, DPE, HPP, HR, CnD, PPE, FP 

Adsorbent: zeolite 13X Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

13 10 LPM 152 - 5.1 - - 0.83 78.01 90 - - 

Liu et al. [22] 
3-bed 7-step: AD, CoD, HR, DPE, CnD, PU, PPE, FP 

Adsorbent: zeolite 5A Sizeg: L=1, D=0.4 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 46 Nm3/h 120 - 5 298 0.41 - 79 85 - 
2.37 

MJ/kg 

Qasem et al. [15] 
1-bed 5-step: AD, HR, CnD, PU, FP 

Adsorbent: Mg-MOF-74 Sizeg: L=0.07, D=0.004 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 20 ml/min 130 - 2 323 0.5 1 95.3 94.8 0.5 kg/kg/h 
0.247 

MJ/kg 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Dantas et al. [23] 
2-bed 4-step: AD, CnD, PU, FP 

Adsorbent: zeolite 13X Sizeg: L=0.83, D=0.021 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 3 L/min STP 130  10 373 0.167 - 90 36.8 - - 

Liu et al. [24] 
2-bed four-step: AD, CnD, PU, FP 

Adsorbent: APG IIA Sizeg: L=0.202, D=0.047 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 2.2 SLPM 130 - 10 303 0.068 - 69 64.3 
0.127 

kg/kg/h 
0.39 MJ/kg 

Ko et al. [25] 
1-bed 4-step: AD, CnD, PU, FP 

Adsorbent: zeolite 13X Sizeg: L=1.48, D=0.022 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

15 1.8×10-5 m-3/s 1428.3 - - 323 - - 56.4 97.5 - 
1.79 

kJ/mol 

Chou et al. [16] 
2-bed 4-step: FP, CoD, CnD, HPP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.05 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

20 - 557  5.1 298.14 - - 90 30-40 - - 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Chou et al. [16] 
3-bed 6-step: AD1, AD2, AD3, CnD, PU, LPP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.05 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

20 - 152 - 5.1 303.14 - - 60-80 60 - - 

Chou et al. [16] 
3-bed 6-step: AD, HR, CoD, CnD, LPP, FP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.05 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

20 - 152 - 5.1 303.14 - - 60-80 60 - - 

Na et al. [26] 
3-bed 9-step: AD, CoD, DPE, HPP, HR, CnD, PPE, FP 

Adsorbent: activated carbon Sizeg: N/A 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

17 4.7-20 slpm 152 - 10.1 288-328 1.8 0.082 34 99.8 - - 

Chue et al. [1] 
3-bed 7-step: AD, CoD, R, HR1, HR2, CnD, FP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.0254 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

16 20 L(NTP)/min 110.7 - 6.67 303 0.8 - 53 99 - - 

Chue et al. [1] 
3-bed 7-step: AD, CoD, R, HR1, HR2, CnD, FP 

Adsorbent: activated carbon Sizeg: L=1, D=0.053 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

16 40 L(NTP)/min 110.7 - 6.67 303 0.8 - 44 90 - - 
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Summary of the previous study on CO2 separation from the flue gas with single-stage configurations (continued). 

Kikkinides et al. [27] 4-step: AD, HR, CnD, LPP 

Adsorbent: activated carbon Sizeg: L=5, D=1 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

17 8-14 cm/s 121.6 - 10.1 298 - - 68.4 99.997 - - 

Park et al. [28] 
2-bed 4-step: AD, CnD, LPP, FP 

Adsorbent: zeolite 13X Sizeg: L=1.5, D=0.178 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

10 135 L/min 114.7 - 6.67 298 0.028 - 79.03 60 - 0.612 MJ/Nm3 

Park et al. [28] 
2-bed 6-step: AD, DPE, CnD, LPP, PPE, FP 

Adsorbent: zeolite 13X Sizeg: L=1.5, D=0.178 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

10 135 L/min 114.7 - 40 298 0.028 - 78.93 72 - 0.684 MJ/Nm3 

Park et al. [28] 
2-bed 5-step: AD, HR, CnD, LPP, FP 

Adsorbent: zeolite 13X Sizeg: L=1, D=0.165 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

10 135 L/min 114.7 - 40 298 - 0.5 90 64.5 - 1.026 MJ/Nm3 

Na et al. [29] 
3-bed 6-step: AD, DPE, HR, CnD, PPE, FP 

Adsorbent: activated carbon Sizeg: L=1.5, D=0.178 

𝒚𝒇
a 𝑸𝒇

b 𝑷𝑯
c 𝑷𝑰

c 𝑷𝑳
c 𝑻𝒇

d P/Fe R/Fe 𝑹𝒆 f 𝑷𝒖 f 𝑷𝒓 f 𝑬𝒏 f 

13 106 L/min 200 - 10 298 - - 99.3 30 - - 

a. CO2 mole fraction in the feed flue gas; b. Feed gas flowrate; c. PH, feed pressure, kPa; PI, intermediate pressure, kPa; PL, desorption pressure; d. Feed temperature, K; e. P/F, purge-to-feed 

ratio; R/F, rinse-to-feed ratio; f. Re, recovery, %; Pu, purity, %; Pr, productivity; En, energy consumption. g. L, column length, m; D, column diameter, m. 
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6.5 Process description 

As discussed in Section 6.4, two-stage VSA configurations are superior to single-stage 

VSA configurations due to their much higher CO2/N2 separation efficiency. Hence, an 

integrated two-stage VSA process was configured to capture and concentrate CO2 

from dry flue gas. The first stage of the configuration is packed with MFI operating as 

a two-bed six-step VSA process, and the second stage is packed with activated carbon 

using a two-bed five-step VSA process. The step sequences of operating steps in both 

stages are illustrated in Figures 6-3. The first stage, consisting of adsorption, pressure 

equalisation, counter-current depressurisation, light product purge, and feed 

pressurisation, is considered the CO2-enriched stage, where the CO2 recovery 

exceeds 95%. Introducing the pressure equalisation steps reduces the CO2 loss 

during the process, improving CO2 recovery. The second stage, comprising adsorption, 

pressure equalisation, counter-current evacuation, and feed pressurisation, is deemed 

the CO2 purification stage, where the CO2 mole fraction reaches up to 95% sacrificing 

the CO2 recovery to achieve the overall 90% of CO2 recovery. The second stage also 

employs the pressure equalisation step to save energy. However, the light product 

purge step is not used as the CO2 product would be diluted by the N2, resulting in a 

reduction in CO2 purity. A buffer tank is equipped between two stages to ensure the 

feed composition of the second stage is mixed homogenously and sufficiently.  

Typically, the flue gas from the coal-fired power plant contains CO2, N2, and some 

impurities such as H2O, SOx, and NOx. In all the simulations, the impurities are 

assumed to be removed via pre-treatment. The detailed steps of the VSA process are 

described as follows: 

1. Feed pressurisation (FP). The packed column was pressurised to the 

adsorption pressure with the flue gas from the feed end (z=0). During this step, 

the product end (z=L) of the column is closed.  

2. High-pressure adsorption (AD): The flue gas continuously passes through the 

packed column from the feed end with a constant interstitial velocity. The CO2, 

as the heavier component, is adsorbed by the packed adsorbent inside the 

column. At the same time, the high-purity N2 product is collected from the 

product end as the light product.  
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3. Pressure equalisation (depressurised) (DPE). Two columns at different 

pressure levels are interconnected through the product end. The column 

pressure is reduced to the intermediate pressure, where the mechanical energy 

in the high-pressure gas is saved.  

4. Counter-current depressurisation or evacuation (EV): The column pressure is 

further reduced to a low level while the adsorbent is regenerated. The enriched 

CO2 gas is obtained from the feed end and stored in the product tank.  

5. Light product purge (PU): A partial amount of N2-enriched effluent gas from 

another column purges the column counter-currently with a fixed gas velocity 

to recover the CO2 further.   

6. Pressure equalisation (pressurised) (PPE): The low-pressure column receives 

the gas from the high-pressure column. At the end of this step, two columns 

reach the same pressure level to reduce power consumption for pressurisation.   

At the beginning of the simulation, the column is assumed to be saturated with pure 

N2 at 1.1 bar. The column state at the end of each step is considered the initial 

condition for the subsequent step, and the step sequence is repeated until the cyclic 

steady state (CCS) is reached. The set of mathematical model equations in the 

simulation was solved numerically by gPROMS (PSE Enterprise, UK), in which the 

second-order orthogonal collocation on finite elements method (OCFEM) was applied 

for discretizing the spatial domain along the column with 60 discretization intervals.  

 

Column1 AD DPE EV PU DPE FP 

Column2 PU PPE FP AD PPE EV 

(a

) 

(a) 
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Column1 AD DPE EV PPE FP 

Column2 EV PPE FP AD DPE EV 

Figure 6-3 The scheme and step sequences of (a) the first VSA unit and (b) the second VSA unit. 

 

6.6 Design of VSA 

The basic four-step VSA process consisting of adsorption, co-current depressurisation 

(blowdown), counter-current depressurisation (evacuation), and feed pressurisation 

has been reported to achieve either ≥90% CO2 purity or ≥90% CO2 recovery when the 

low-pressure level is no higher than 0.02 bar [10]. However, achieving such pressure 

levels is a challenge in the industry. Besides, the power consumption of the VSA 

process is significantly determined by the desorption pressure. The desorption 

pressure should be set as high as possible to reduce the power consumption. When 

designing the VSA process to meet the requirements of 90% CO2 recovery and 90% 

CO2 purity, the basic four-step VSA cycle is modified into an integrated two-stage VSA 

process. More specifically, it is suggested to capture the CO2 from flue gas at near 

atmospheric pressure at 298 K, while the desorption pressure is set at 10 kPa based 

on the previous studies [4, 7] for both stages. Initially, the columns were assumed to 

be saturated with pure nitrogen at either a pre-set adsorption or desorption pressure 

under 298 K.  

(b) 

(b) 
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The first-stage VSA process captures the flue gas containing 15% of CO2 at 1.1 bar, 

giving an estimated CO2 partial pressure of 16.5 kPa for adsorption at 298 K. Again, 

the desorption pressure is selected at 10 kPa to regenerate the adsorbent. Based on 

the cyclic adsorption/desorption condition designed for the first stage VSA process, 

the working capacities for both CO2 and N2 on both MFI and activated carbon were 

estimated by Equation 6-4, as shown in Table 6-5.  

Table 6-5 Working capacities of CO2 and N2 on MFI and activated carbon (AC) during the 1st stage. 

Ads Gas Adsorbed amount at 

16.5 kPa [mol/kg] 

Regenerated amount at 

10 kPa [mol/kg] 

∆𝑞𝑖 

[mol/kg] 

MFI 
CO2 0.704 0.482 0.222 

N2 0.224 0.024 0.2 

AC 
CO2 0.982 0.695 0.287 

N2 0.336 0.043 0.293 

 

In the second VSA unit, the CO2-rich gas obtained from the first stage, with 

approximately purity level of 55-60%, is fed to the second stage, giving a CO2 partial 

pressure of around 70 kPa. The regeneration pressure can be set relatively high, at 

10 kPa, to reduce the power consumption of the vacuum pump. The working 

capacities for CO2 and N2 on MFI and activated carbon during the second stage were 

also estimated by Equation 6-4, and the results are presented in Table 6-6.  

Table 6-6 Working capacities of CO2 and N2 on MFI and activated carbon (AC) during the 2nd stage. 

Ads Gas 
Adsorbed amount at 

70 kPa [mol/kg] 

Regenerated amount 

at 10 kPa [mol/kg] 

∆𝑞𝑖 

[mol/kg] 

MFI 
CO2 1.589 0.482 1.107 

N2 0.169 0.024 0.145 

AC 
CO2 2.502 0.695 1.807 

N2 0.191 0.043 0.148 

 

Table 6-6 demonstrates that the CO2 working capacity at 70 kPa for adsorption and 

10 kPa for activated carbon regeneration is higher than of MFI in the second stage. 
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Based on the comparison of the CO2 working capacity of each adsorbent material, it 

is suggested that the column packed with MFI for CO2 capture during the first stage 

shows high efficiency. In contrast, activated carbon is better for concentrating CO2 

during the second stage.  

Due to the mechanical losses, the power consumption of the compressors and 

vacuum pumps predicted by Equations 6-9 and 6-10 may be smaller than the actual 

power consumptions, which are estimated only for comparison in this study. The 

performance indicators in all the VSA simulations are obtained at cyclic steady state, 

ensuring that the differences in CO2 recovery and purity between the new and previous 

cycles are less than 10-5. Table 6-7 lists the adsorbent properties and column 

parameters. Moreover, the step durations are not independent and have to be 

correlated due to the synchronisation of the columns [20].  

The simulated dry flue gas passes through the first VSA unit at a fixed velocity of 0.27 

m/s for capturing the CO2, where two columns are packed with 47 kg of MFI. The step 

time in the first stage is fixed at 𝑡𝐴𝐷 = 𝑡𝑃𝑈 = 240𝑠, 𝑡𝑃𝑃𝐸 = 𝑡𝐷𝑃𝐸 = 80𝑠, 𝑡𝐸𝑉 = 𝑡𝑃𝑅 = 80𝑠. 

Again, more than 95% of the CO2 is recovered from the flue gas, with CO2 purity within 

the range of 55-60%. However, the CO2 purity in the product gas does not meet the 

requirements of 90%. Hence, the CO2-enriched gas enters the second VSA unit for 

further concentration. This unit consists of two beds packed with 21.2 kg of activated 

carbon operating with the following step times: 𝑡𝐴𝐷 = 240𝑠, 𝑡𝑃𝑃𝐸 = 𝑡𝐷𝑃𝐸 = 80𝑠, 𝑡𝐸𝑉 =

290𝑠, 𝑡𝑃𝑅 = 50𝑠.  

In the following parametric study, it was sought to find the optimal operating conditions 

in terms of the minimum power consumption to meet the requirements of CO2 purity 

and recovery. 
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Table 6-7 Parameters used in VSA simulations. 

Parameters Values 

Column length [m] 1 (MFI), 0.65 (AC) 

Column inner radius [m] 0.1445 

Column outer diameter [m] 0.1620 

Particle radius [m] 0.001 (MFI), 0.001(AC) 

Bed voidage [-] 0.37 (MFI), 0.506 (AC) 

Particle density [𝑘𝑔 𝑚3⁄ ] 1,143 (MFI), 873.7 (AC) 

Column wall density [𝑘𝑔 𝑚3⁄ ] 7,800 

Heat capacity of gas [𝐽 (𝑘𝑔𝐾)⁄ ] 998 

Heat capacity of adsorbent solid [𝐽 (𝑘𝑔𝐾)⁄ ] 1,070 (MFI), 880 (AC) 

Heat capacity of adsorbed phase [𝐽 (𝑚𝑜𝑙 𝐾)⁄ ] 30.7 

Heat capacity of column wall [𝐽 (𝑘𝑔𝐾)⁄ ] 502 

Thermal conductivity of column wall [𝐽 (𝑚𝐾𝑠)⁄ ] 16 

Axial thermal dispersion coefficient [𝐽 (𝑚𝐾𝑠)⁄ ] 0.09 

Inside heat transfer coefficient [𝐽 (𝑚2𝐾𝑠)⁄ ] 8.6 

Outside heat transfer coefficient [𝐽 (𝑚2𝐾𝑠)⁄ ] 2.5 

 

6.6.1 Effects of P/F ratio on VSA performances 

The P/F ratio is defined as the ratio of the purge gas molar flowrate to the feed gas 

molar flowrate. Figures 6-4 and 6-5 show the effect of the P/F ratio on CO2 recovery, 

CO2 purity, energy consumption, and productivity when running at a fixed desorption 

pressure of 11 kPa during the first VSA unit. The results indicate that increasing the 

P/F ratio and reducing the desorption pressure increases CO2 recovery, as the CO2 in 

the feed can be prevented from breakthrough during the adsorption step. In general, 

CO2 recovery is inversely proportional to CO2 loss during adsorption. However, a high 

P/F ratio is required to achieve a significantly high CO2 recovery.  
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Figure 6-4 Evaluation of CO2 recovery and purity with the P/F ratio for the first stage VSA unit at 298 K and the 

desorption pressure of 11 kPa. 

 

Figure 6-5 Evolution of specific energy consumption and bed productivity with the P/F ratio for the first VSA unit 

at a desorption pressure of 11 kPa and 298 K. 
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As expected, the CO2 recovery improves while the CO2 purity diminishes as the P/F 

ratio increases. Bed productivity also grows with the constant cycle time, similar to the 

trend in CO2 recovery. The amount of CO2 produced during the first VSA unit increases 

as the P/F ratio decreases, resulting in increased bed productivity. Based on the 

amount of CO2 produced during the evacuation and purge steps, the total specific 

energy consumption during the first VSA process is obtained. With an increasing P/F 

ratio, energy consumption for vacuum pumps increases, while that for the compressor 

decreases as more CO2 is recovered. Figure 6-5 shows that the vacuum pump 

consumes more energy than the compressor, thereby dominating the total energy 

consumption. Consequently, the total specific energy consumption increases with the 

P/F ratio. Similar trends can also be found in the literature [6, 24, 28].  

 

6.6.2 Effects of desorption pressure on VSA performances 

The effects of desorption pressure on CO2 recovery, CO2 purity, productivity, and 

specific energy consumption with the fixed P/F ratio during the first VSA unit were 

investigated. The results are shown in Figures 6-6 and 6-7. According to the previous 

studies (Table 6-3), the desorption pressure for the two-stage VSA process was 

designed within the range of 5-20 kPa when fed with the dry flue gas. It was clear from 

Figure 6-6 that an increasing in desorption pressure reduces both CO2 recovery and 

productivity, as less CO2 is desorbed and subsequently recovered. For this reason, 

the total specific energy consumption was also reduced, as shown in Figure 6-7.  
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Figure 6-6 The effect of desorption pressure on CO2 recovery and CO2 purity, with the P/F ratio being 0.5 at 298K 

during the first VSA unit.  

 

Figure 6-7 The effect of desorption pressure on specific energy consumption with the P/F ratio being 0.5 at 298K 

during the first VSA unit. 
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Likewise, the effects of desorption pressure on CO2 recovery, CO2 purity, productivity, 

and specific energy consumption during the second stage were demonstrated in 

Figures 6-8 and 6-9. When the desorption pressure increases from 5 to 20 kPa, the 

CO2 recovery decreases from about 100% to less than 75%, and productivity decrease 

from 9.4 to about 7.2 mol/kg/h with the desorption pressure increase significantly. In 

contrast, the CO2 purity increased slightly from 86% to 90%. This can be explained 

based on the isotherm data of CO2 and N2 in Figure 6-14. In this pressure range, CO2 

adsorption takes an index increase from 0 to around 0.3 bar, while N2 adsorption 

increase linearly with this pressure range. The ratio of desorbed CO2 to N2 is higher at 

20 kPa than that ratio at 5 kPa. Therefore, the purity increases slightly. 

 

Figure 6-8 The effect of desorption pressure on both CO2 recovery and CO2 purity, with P/F ratio being 0.5 at 

298K during the second VSA unit. 
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Figure 6-9 The effect of desorption pressure on specific energy consumption with the P/F ratio being 0.5 at 298K 

during the second VSA unit. 

 

6.6.3 Effects of the adsorption temperature on the VSA process 

According to the previous studies (Table 6-3), the adsorption temperature of the VSA 

process could be designed within the range of 298 K to 333 K. Figures 6-10 and 6-11 

show the effects of temperature on process performance during the first VSA stage, 

with a fixed desorption pressure of 0.11 bar and P/F ratio of 0.5. The results indicated 

that the effect of temperature on CO2 recovery and purity is different at the two VSA 

stages in the range from 298 K to 333 K. CO2 recovery slightly increases with 

temperature at both the first and the second VSA stages. However, the temperature 

effect is higher at the second VSA stage than at the first VSA stage. The effect of 

temperature on CO2 product purity takes different trends at the two VSA stages. In the 

first VSA stage, the CO2 purity slightly increases with the temperature, while in the 

second stage, the CO2 purity slightly decreases. This may be related to the different 

CO2 feed concentrations at the two stages. In the first VSA stage, the feed contains 

about 15% CO2 and 85% N2, whereas in the second VSA stage, the feed contains 55-

60% CO2 and only 40-45% N2. Consequently, the CO2 amount adsorbed per unit of 
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mass adsorbents at the second stage is much higher than in the first stage, compared 

to N2. This results in more heat generation during the adsorption process in the second 

stage, reducing the selectivity of adsorbents for CO2 over N2.  

As the adsorption is an exothermic process, the high adsorption temperature is 

detrimental to the adsorbent’s working capacity, leading to a reduction in CO2 uptake 

amount (Figure 6-1). For this reason, both the inlet and outlet CO2 amount per cycle 

for CO2 capture were reduced, as shown in Table 6-8. Since productivity is only 

determined by the produced amount of CO2, an increase in adsorption temperature 

reduces the CO2 product amount, thus reducing productivity. 

Table 6-8 The inlet and outlet CO2 amount during the first stage. 

T 

[K] 

Inlet CO2 amount [mol/m2] Outlet CO2 amount [mol/m2] 

Adsorption Pressurisation Total Evacuation Purge Total 

298 436.2 35.5 471.8 211.2 239.0 450.2 

303 429.9 34.2 463.1 207.9 235.1 443.0 

313 415.1 31.7 446.8 200.5 228.5 429.0 

323 402.2 29.6 431.8 192.7 223.1 415.8 

333 390.1 27.7 417.8 184.8 218.5 403.3 

 

Table 6-9 The inlet and outlet CO2 amount during the second stage. 

T 

[K] 

Inlet CO2 amount [mol/m2] Outlet CO2 amount [mol/m2] 

Adsorption Pressurisation Total Evacuation 

298 453.7 105.8 559.5 531.5 

524.8 

512.1 

500.0 

488.7 

303 446.1 105.2 551.3 

313 431.9 104.0 535.9 

323 418.5 103.0 521.6 

333 406.0 102.1 508.1 

 

As shown in Figures 6-10 and 6-11, the specific energy consumption shows an 

increasing trend with temperature. Based on Equations 6-9 and 6-10, the energy 

consumption of both compressors and vacuum pumps is proportional to the adsorption 
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temperature. Furthermore, as the temperature rises, the total amount of CO2 produced 

decreases, resulting in an increase in specific energy consumption. The same trends 

can also be found during the second stage (Figures 6-12 and 6-13).  

 

Figure 6-10 The effect of adsorption temperature on CO2 recovery, CO2 purity, and productivity with the P/F ratio 

of 0.5 and desorption pressure of 0.11 bar during the first VSA unit. 

 

Figure 6-11 The effect of adsorption temperature on specific energy consumptions with a P/F ratio of 0.5 and 
desorption pressure of 0.11 bar during the first VSA unit. 
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Figure 6-12 The effect of adsorption temperature on CO2 recovery, CO2 purity, and productivity with a desorption 

pressure of 0.129 bar during the second VSA unit. 

 

Figure 6-13 The effect of adsorption temperature on specific energy consumptions with a desorption pressure of 
0.129 bar during the second VSA unit.  
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6.6.4 Integration of the two-stage VSA process 

The first VSA stage aimed to achieve the highest CO2 recovery (>95%) with a 

corresponding CO2 purity within the range of 55-60% as a trade-off. Under the optimal 

operating conditions with a desorption pressure of 0.11 bar and P/F of 0.5, the CO2 

recovery and CO2 purity were 95.3% and 58.1%, correspondingly. The second VSA 

stage aimed to increase the CO2 mole fraction up to 90% while sacrificing the CO2 

recovery to achieve the overall 90% carbon capture rate. Under the optimal desorption 

pressure of 0.129 bar, the CO2 recovery and purity reached 94.4% and 90% in the 

second stage, respectively. The overall process performance was obtained by 

connecting two VSA units, as shown in Table 6-10. The calculation of specific energy 

consumption in each stage of the process was based on the total CO2 amount 

produced in the second VSA process. The energy consumption for compression came 

from the pressurisation and adsorption steps, which were equipped with a blower. 

Around 9.4% of the total energy consumption was contributed by the compressions, 

and 66% of it was taken by the first VSA stage.   

Table 6-10 The process performances for the two-stage MFI-AC VSA process. 

 
𝑅𝑒𝐶𝑂2

 

[%] 

𝑃𝑢𝐶𝑂2
 

[%] 

Productivity 

[𝑚𝑜𝑙/𝑘𝑔/ℎ] 

Specific energy consumption [𝑘𝐽/𝑘𝑔𝐶𝑂2
] 

Compressor Vacuum pump Total 

1st stage 95.2 55.2 3.1 35.5 281.0 316.5 

2nd stage 94.6 90.0 9.0 9.7 153.7 163.4 

Overall 90.1 90.0 6.3 45.2 434.7 479.9 

 

6.7 Comparison between MFI and zeolite 13X 

For a fair basis of comparison between two adsorbents in a two-stage VSA process, 

the columns were packed with the same amount of either MFI or zeolite 13X, 

specifically 47 kg. The bed length was set to 1 m for MFI while 0.65 m for zeolite 13X 

in the first stage, with the same column diameter. The duration of each step was kept 

the same when packed with zeolite 13X as compared to MFI. According to Figure 6-

14, MFI has a flatter CO2 isotherm shape compared to the zeolite 13X, indicating that 

more purge gas is required for adsorbent regeneration. Thus, the first VSA stage 
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equipped with MFI consumes around 2.6% more energy from vacuum pumps than 

zeolite 13X (as indicated in Table 6-11). During the second stage, since both 

processes have similar inlet gas velocities (0.077 m/s for the MFI process and 0.074 

m/s for the zeolite 13X process), the column size remains the same as the first stage. 

To achieve the overall 90% CO2 recovery and 90% CO2 purity, the desorption pressure 

for the MFI-AC process was 0.129 bar. In contrast, the zeolite 13X-AC process needs 

a desorption pressure of 0.14 bar, leading to a 6.6% lower in energy requirement 

during the evacuation step.  

Table 6-11 The process performances for the two-stage zeolite 13X-AC VSA process 

 
𝑅𝑒𝐶𝑂2

 

[%] 

𝑃𝑢𝐶𝑂2
 

[%] 

Productivity 

[𝑚𝑜𝑙/𝑘𝑔/ℎ] 

Specific energy consumption [𝑘𝐽/𝑘𝑔𝐶𝑂2
] 

Compressor Vacuum pump Total 

1st stage 95.9 56.4 2.6 35.3 273.8 309.1 

2nd stage 93.9 90.9 9.8 9.4 144.2 153.7 

Overall 90.1 90.9 6.4 44.7 418 462.8 

 

 

Figure 6-14 Comparing CO2 and N2 isotherms on MFI and zeolite 13X at 298K within the 0-1 bar pressure range.  
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6.8 Summary  

This chapter simulated the CO2 separation performance of a two-stage VSA 

configuration regarding CO2 product recovery, CO2 product purity, productivity, and 

specific energy consumption. MFI and activated carbon were used as CO2 adsorbents, 

while zeolite 13X served as a reference adsorbent for comparison. The two-stage VSA 

process contained a two-bed six-step VSA process consisting of adsorption, pressure 

equalisation (depressurised), counter-current depressurisation, light product purge, 

pressure equalisation (pressurised), and feed pressurisation equipping with MFI. This 

was followed by a two-bed five-stage VSA process without light product purge, packed 

with activated carbon. The VSA process was simulated via gPROMS to separate the 

CO2 from dry flue gas (15% CO2 and 85% N2). It has demonstrated that the two-stage 

VSA process configuration can achieve the carbon capture requirement of 90% CO2 

recovery and CO2 90% purity.  

The effects of the P/F ratio, desorption pressure, and adsorption temperature on the 

process performance were investigated. Increasing the P/F ratio and decreasing the 

desorption pressure resulted in CO2 recovery and productivity growth, as more CO2 

was recovered during the blowdown step. Likewise, the total specific energy 

consumption increased with higher P/F ratio. However, the CO2 purity was diminished 

with the growth of the P/F ratio since the produced CO2 would be diluted by N2. 

Moreover, the feed temperature had a slight effect on CO2 recovery and purity but 

significantly affected productivity when varied from 298 K to 333 K. As adsorption is 

an exothermic process, higher adsorption temperatures were detrimental to the 

adsorbent’s working capacity, consequently reducing productivity. 

On the contrary, the power consumption of the compressor and vacuum pump was 

proportional to the temperature increase. Hence, applying a higher adsorption 

temperature led to a higher specific energy consumption. The effect of temperature on 

CO2 product purity exhibited different trends at the two VSA stages. In the first VSA 

stage, the CO2 purity slightly increased with the temperature, while in the second stage, 

the CO2 purity slightly decreased. 

When the two-stage VSA process met the carbon capture requirement of 90% CO2 

recovery and 90% CO2 purity, the minimum total specific energy consumption and 
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productivity were 479.9 𝑘𝐽/𝑘𝑔𝐶𝑂2
 and 6.3 mol/kg/hr, respectively, when packed with 

MFI. The feed gas velocity was fixed at 0.27 m/s, giving the step times for the first 

stage being 𝑡𝐴𝐷 = 𝑡𝑃𝑈 = 240𝑠, 𝑡𝑃𝑃𝐸 = 𝑡𝐷𝑃𝐸 = 80𝑠 and 𝑡𝐸𝑉 = 𝑡𝑃𝑅 = 80𝑠 , and for the 

second stage being 𝑡𝐴𝐷 = 240𝑠, 𝑡𝑃𝑃𝐸 = 𝑡𝐷𝑃𝐸 = 80𝑠, 𝑡𝐸𝑉 = 290𝑠 and 𝑡𝑃𝑅 = 50𝑠 . When 

the first stage was packed with the commercial zeolite 13X and the step durations 

remained the same, a similar total productivity (6.2 mol/kg/hr) was achieved but with 

a lower energy consumption (462.8 𝑘𝐽/𝑘𝑔𝐶𝑂2
). 
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Chapter 7 Conclusion and Perspectives 

 

7.1 Conclusion  

In this thesis, one of the aims was to design and evaluate two IGCC processes 

integrated with a pre-combustion CO2 capture unit, configured with either a sour or a 

sweet shift, depending on the location of desulphurisation unit in the process. 

According to the detailed process flowsheets, the energy penalty incurred by carbon 

capture integration was estimated more accurately than ever before. In the sour shift 

case, the desulphurisation unit is downstream of the water-gas shift reactors. In 

contrast, in the sweet shift case, the sulphur compounds are initially removed before 

undergoing the shift reactions.  

The main differences in terms of the process configuration are described as follows. 

Firstly, the sweet shift case requires more additional shift steam than the sour shift 

case. However, as the sweet shift case does not require syngas quenching, the energy 

penalties of the two cases were almost the same. Note that the sweet shift case incurs 

an energy penalty that is 3.7% greater than the sour shift case when designed in the 

same way as the sour shift case, involving water quenching and syngas scrubber. 

Secondly, since the CO2 absorber runs with both lean and semi-lean solvent, the 

Selexol process could be designed in either high- or low-lean modes. The sweet shift 

case operates in low-lean mode to minimise the quantity of CO2 transferred from the 

solvent to the syngas at the H2S absorber. Otherwise, the syngas leaving the H2S 

absorber would contain more CO2, requiring more shift stream to be added for the 

ensuing shift reactors. Thirdly, there is no need to equip the H2S concentrator 

separately in the sweet shift case since the H2S absorber also functions as an 

enrichment source for H2S in the H2S-laden solvent by stripping CO2 off the solvent.  

In addition, the sizing of shift reactors was estimated based on the reaction rate model 

found in the literature. It was found that the sizes of high-temperature shift reactors 

were comparable to each other. However, the low-shift reactor in the sour shift case 

had to be sized much larger than it in the sweet shift case, as the sour shift catalysts 

perform one order of magnitude lower reaction rates.  
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Another aim of this thesis was to evaluate the CO2 capture performance of different 

types of porous adsorbent materials in a cyclic VSA process. The novelty of this study 

is to evaluate various adsorbents for the adsorption-based separation processes, 

integrated into a five-step VSA process, in terms of CO2 recovery and productivity. 

The VSA cycle consisting of adsorption, heavy rinse, counter-current depressurisation 

(blowdown), purge, and light product pressurisation steps. The analytical solutions for 

the VSA cycle were obtained by applying the isothermal local equilibrium theory model 

with uncoupled isotherms. This work discussed 38 out of 140 adsorbent candidates, 

including zeolites, carbons, MOFs, and triazine-based benzimidazole-linked polymers. 

The adsorption occurs under 1 bar and 298 K, with the desorption pressure varying 

from 0.1 kPa to 10 kPa. Zeolite 13X (CECA), one of the best-known adsorbents 

commercially available, having a high CO2 adsorption capacity and selectivity against 

N2, is the benchmark material in this thesis. Among all zeolites, the MFI is the only 

adsorbent that performs better CO2 recovery than zeolite 13X due to its flat CO2 

isotherm shape. Likewise, the materials including BPL AC, UiO-66, MIL-101(Cr)-F, 

MIL-101(Cr)-OH, MIL-101(Cr), NH2-MIL-101(AL)-F, MMC1, NH2-MIL-101(Fe)-F, 

MOF-177, MOF-505, MOF-505@GO, MOF-14, and TBILPs also show the flat CO2 

isotherm shapes. The CO2 isotherm shape determines 𝜃𝐶𝑂2
 values, which, in turn, 

affecting CO2 recovery. The use of these adsorbents improves CO2 recovery due to 

the low CO2 inlet amount and the high CO2 produced amount during a VSA cycle. The 

low CO2 inlet amount results from the low CO2 isotherm slope between 0 and 0.15 bar, 

while a large proportion of desorbed CO2 is contributed by the large ratio of the CO2 

isotherm slope between 0 and 1 bar compared to that between 0 and 𝑃𝐿 . At the 

desorption pressure of 0.03 bar, the CO2 recovery on zeolite 13X was 64.7%, whereas 

MFI, BPL AC, and UiO-66 show the highest CO2 recovery among the three main 

categories at 72.8%, 78.6%, and 77.2%, respectively. On the contrary, due to their 

steep CO2 isotherms during the initial adsorption stage, equipping Mg-MOF-74, 5A 

BFK, 4A BFK, and zeolite X shows poor separation performances at the desorption 

pressure of 0.03 bar. It is noted that applying such adsorption materials requires a 

significantly low desorption pressure level to achieve a relatively high CO2 recovery, 

leading to much energy consumption.  

On the other hand, the material that showed a high CO2 recovery did not show a high 

productivity. The productivity is only determined by the blowdown step, which 
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increases with a reduction in the desorption pressure of all materials. Among all 

carbons, NC-2-600 showed the highest productivity, regardless of the desorption 

pressure. Among all the zeolites, the CECA zeolite 13X gave the highest productivity 

when the desorption pressure exceed 1 kPa, while 5A BFK was superior to other 

zeolites when the desorption pressure was lower than 1 kPa. Among MOFs, when the 

desorption pressure was lower than 3.2 kPa, the Mg-MOF-74 showed the highest 

productivity due to the steepest CO2 isotherm.  

To further investigate the adsorbent, a two-stage VSA process was simulated to 

capture the CO2 from the dry flue gas via the gPROMS software by applying a full set 

of mathematical model equations. The first stage of this process involved a two-bed 

six-step VSA process packed with MFI, deemed the CO2-enriched stage, while the 

second stage featured a two-bed five-step VSA process packed with activated carbon, 

serving as the CO2 purification stage. The first stage consisted of adsorption, pressure 

equalisation, counter-current depressurisation, purge, and feed pressurisation, while 

the second stage included adsorption, pressure equalisation, counter-current 

depressurisation, and feed pressurisation. It was demonstrated that the process 

performances were affected by several factors, including the P/F ratio, desorption 

pressure, and feed temperature. Increasing the P/F ratio and reducing the desorption 

pressure improved CO2 recovery and productivity, as more CO2 would be recovered 

during the blowdown step. Likewise, the total specific energy consumption increased 

with the growth of the P/F ratio. However, increasing the P/F ratio resulted in a dilution 

of the produced CO2 by N2, thus reducing the CO2 purity. In addition, since the 

adsorption is an exothermic process, increasing the adsorption temperature is 

detrimental to the adsorbent’s working capacity, consequently reducing productivity. 

On the contrary, the power consumptions of the compressor and the vacuum pump is 

proportional to the temperature growth. Hence, applying a higher adsorption 

temperature led to a higher specific energy consumption.  

The two-stage VSA process can meet the 90% CO2 recovery and 90% CO2 purity 

carbon capture requirement. The minimum total specific energy consumption and 

productivity were 479.9 𝑘𝐽/𝑘𝑔𝐶𝑂2
 and 6.3 mol/kg/hr, respectively. This was achieved 

when the first stage was packed with MFI and the second stage was packed with 

activated carbon. The feed gas velocity was fixed at 0.27 m/s, giving the step times of 
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the first stage being 𝑡𝐴𝐷 = 𝑡𝑃𝑈 = 240𝑠, 𝑡𝑃𝑃𝐸 = 𝑡𝐷𝑃𝐸 = 80𝑠 and 𝑡𝐸𝑉 = 𝑡𝑃𝑅 = 80𝑠, and that 

of the second stage being  𝑡𝐴𝐷 = 240𝑠, 𝑡𝑃𝑃𝐸 = 𝑡𝐷𝑃𝐸 = 80𝑠, 𝑡𝐸𝑉 = 290𝑠 and 𝑡𝑃𝑅 = 50𝑠. 

When the first stage was packed with the commercial zeolite 13X, using the same 

process configurations with the same step durations gave a similar total productivity 

of 6.2 mol/kg/hr. However, it resulted in a lower total energy consumption of 462.8 

𝑘𝐽/𝑘𝑔𝐶𝑂2
.  

 

7.2 Perspectives 

The PSA processes developed by Skarstrom were initially criticised for their expensive 

and energy-intensive nature. With the technology developing, the structure of the 

adsorption column, the cycle sequences, and the adsorbent materials have been 

improved. The PSA process has emerged as a promising technology for CO2 

separation due to its lower energy consumption and investment cost. However, the 

adsorbent material is still a challenge.  

Zeolite 13X, which has a high CO2/N2 selectivity and CO2 adsorption capacity, is one 

of the most suitable adsorbents for CO2 separation from the post-combustion flue gas 

via the PSA process. In the interest of time, this study only compared MFI among all 

zeolites for adsorption-based gas separation in terms of energy consumption and 

productivity to the zeolite 13X. A point of interest might be working with the current 

adsorbents discussed in Chapter 5 for the P/VSA process for CO2 separation from the 

flue gas based on a full set of mathematical model equations via gPROMS simulations. 

A full picture of adsorbents' performance in several typical P/VSA processes would 

benefit the selection of adsorbents and P/VSA adsorption processes to minimise the 

energy consumption of CO2 capture from flue gases.   

Furthermore, contrary to the simulation, the water vapour would be practically present 

in the flue gas, which is almost unavoidable. Given the hydrophilic nature of zeolites, 

the active surface area may be reduced, resulting in adverse effects on adsorption 

capacity. MOFs with the nature of water vapour tolerance, are promising alternatives 

in this regard. Therefore, it would be interesting to address the applicability of MOFs 

in CO2 separation from the flue gas in the presence of water vapour.  
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Lastly, a dynamic simulation of the P/VSA process can be undertaken. In large-scale 

power plant or industrial process, feed gas flowrates or loads would change abruptly 

over time. Thus, it would be good to investigate the effect of these fluctuations on 

P/VSA processes and develop a reasonable control strategy for the adsorption-based 

CO2 capture process, to meet 90% CO2 recovery and 90% CO2 purity regardless of 

changing loads. gPROMS could be an application software for simulating the CO2 

separation process.   
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