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Abstract: This paper proposes a concept of a process design for the separation and recovery of
n-butanol from a five-component mixture, consisting of n-butanol, isobutanol, formaldehyde, water
and methanol. The mixture is a common waste stream in the production of butylated amino resins;
therefore, recovery of n-butanol is crucial to the efficiency of the process. The results show that up to
94% of the n-butanol present in the waste stream can be recovered. Under the studied conditions,
99.76% pure n-butanol can be obtained, while formaldehyde, water and methanol are present only
in traces. The energy intensity of the process is estimated at 2.42 MJ/kg of purified n-butanol. The
economic analysis of the process shows that the process is economically viable over a wide range of
production capacities, as evidenced by high net present values and high return on investment values.
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1. Introduction

Butyl alcohol (n-butanol) is an important industrial chemical used as a solvent [1],
extracting agent [2], and as a reactant in the production of chemicals such as butyl acry-
late [3] and butylated amino resins (BAR) [4]. In the production of BAR, relatively large
amounts of n-butanol are disposed of as waste (incinerated), because of contamination with
formaldehyde, which prevents its direct reuse. The ratio between the mass of the product
and the mass of the waste stream, in which mass fraction of n-butanol can reach up to 85%,
can be as high as 1:1. It is common for the waste stream to contain water, methanol and
traces of isobutanol in addition to formaldehyde. Therefore, to recover n-butanol, it must
be separated from a highly nonideal five-component mixture known to contain at least two
heterogeneous azeotropes [5] (n-butanol-water and isobutanol-water) and highly complex
chemistry due to the reactive equilibrium in the formaldehyde–water–methanol system [6].

Separation of n-butanol from n-butanol-water solution can be carried out by sev-
eral methods. Among others, these include extractive distillation [7] and heterogeneous
azeotropic distillation using a two-column distillation system [8]. The latter is the most
commonly used method. On the other hand, the removal of any of the components from
aqueous solutions containing methanol and formaldehyde by either distillation [9] or
more recently studied pervaporation [10] is an extremely difficult task. This is due to the
complex chemical equilibria leading to the formation of higher molecular weight species
such as methylene glycol, hemiformal, poly(oxymethylene)glycols and poly(oxymethylene)
hemiformals [11]. The latter difficulty suggests that it would be quite futile to attempt to
solve the n-butanol recovery problem by distillation column sequencing alone.

Under alkaline conditions, formaldehyde is disproportionated in aqueous solutions
by a rather slow [12] Cannizzaro reaction (CR) to methanol and formate. Additionally,
under alkaline conditions and at temperatures above 70 ◦C [13], a competitive and faster
formose reaction (FR) takes place, converting formaldehyde into sugars and sugar-like sub-
stances [14]. Although the reactions are controlled by different reaction mechanisms [15,16]
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(see Appendix A), they can be considered in a common framework (CR/FR) in which CR
dominates the consumption of formaldehyde until the onset of rapid FR [17]. Therefore,
the hypothesis is that a combination of formaldehyde conversion by CR/FR followed by
azeotropic distillation provides a viable scheme for recovery of n-butanol from the complex
reactive azeotropic mixture.

This work focuses on the recovery of n-butanol from the waste stream generated
in the BAR production process. The remainder of the paper is organized as follows.
In chapters 2–3, experimental methods and experimental results used to determine the
feasibility of formaldehyde removal by CR/FR are presented. In chapter 4, a conceptual
design of the n-butanol process is proposed. Chapter 5 presents the results of improving the
energy efficiency of the process. Finally, in chapter 6, the process is economically evaluated.

2. Materials and Methods

The crude n-butanol solution was obtained from a company that manufactures BAR.
The solution was a clear, stable, homogenous one-phase system. According to the com-
pany, the solution consisted of n-butanol (w = 85.49%), water (w = 12.15%), formaldehyde
(w = 1.70%) and traces of isobutanol (w = 0.17%) and methanol (w = 0.49%). The pH of
the solution was 5.3 and density 0.837 g/mL. The boiling point of crude n-butanol was
96 ◦C, which is close to the boiling point of the water-butanol azeotrope (93 ◦C [5]). Sodium
hydroxide was obtained from Merck.

The residual concentration of formaldehyde was determined using the NANOCOLOR
Formaldehyde 8 tube test kit (Macherey-Nagel, Düren, Germany). If dilution of the sample
was required to attain the measuring range of the test kit (0.1 mg/L ≤ γCH2O ≤ 8.0 mg/L),
the solution was diluted with analytical grade n-butanol (100%, Merck). Temperature and
pH were measured with the GMH 3500 Series set (Greisinger GHM Messertechnik GmbH,
Regenstauf, Germany). For the determination of n-butanol, isobutanol and methanol,
among others, gas chromatographic analyses were performed on a Nexis GC-2030 (Shi-
madzu; Shimadzu Europa GmbH, Duisburg, Germany) with Zebron ZB-624 column (60 m,
0.32 mm, 1.8 µm; Phenomenex; Phenomenex LTD, Aschaffenburg, Germany) with flame
ionization detector FID. Helium was used as carrier gas. The water content was deter-
mined by Karl Fisher titration on a V30 instrument (Mettler Toledo; Mettler Toledo GmbH,
Greifensee, Switzerland).

3. Experimental Section

Experiments were conducted to determine the feasibility of formaldehyde removal by
CR /FR under strongly alkaline conditions. In order to assess the statistical significance of
the results, three parallel experiments were conducted in each case. Four different initial
NaOH concentrations (2.4 g/L, 3.6 g/L, 4.8 g/L, and 7.2 g/L) were selected to pre-screen
the effect of initial NaOH concentration on formaldehyde removal. To avoid additional
introduction of water into the mixture, NaOH was added to crude n-butanol solution
(250 mL) in pellets. The reaction was carried out under total reflux. The solution was
stirred and heated from room temperature (21 ◦C) to 85 ◦C at a rate of 10 ◦C/min. The
reaction mixture was then kept at 85 ◦C for 1 min. Within this time, the “yellow point”
was reached, indicating a completed FR/CR [14] (conversion of formaldehyde to sugars
and their subsequent polymerization and dehydration to chromophoric species [18]). The
mixture was then cooled to room temperature under cold running water and the pH was
measured. The reaction time-temperature profile is shown in Figure 1. Assuming that
the “yellow point” indicates complete conversion of formaldehyde, the reaction time was
approximately 6 min.

The solution obtained formed a two-phase system. The heavy phase was decanted and
discarded. Presumably, the heavy phase consists mainly of water and condensed/polymerized
products of FR (tar-like substances) [18]. The lighter phase was distilled under atmospheric
pressure in a laboratory glass distillation apparatus consisting of a distillation flask, a water-
cooled condenser and a collecting flask.
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Figure 1. Reaction time-temperature profile.

The distillation was stopped when the liquid in the distillation flask had almost
completely boiled off. The distillate represented on average 95% of the light phase mass.
The distillation flask was placed in a dryer (200 ◦C) for 24 h. The dry matter in the light
phase was determined gravimetrically based on the dry matter remaining in the distillation
flask. The residual formaldehyde was determined in the distillate.

In addition to the temperature profile, three regions are shown schematically in
Figure 1. Based on the literature [13] and experimental observations, a region in which
formaldehyde is predominantly consumed by CR (0–5 min), a region in which FR is the
dominant reaction and in which formaldehyde is completely consumed (5–6 min), and a
region of tar formation (from 6 min).

3.1. Experimental Results

The results of the four CR/FR experimental conditions are summarized in this section.
However, before moving on to the quantitative results, a review of some qualitative ob-
servations is presented. The crude n-butanol solution received from the company was a
one-phase solution. The added NaOH did not readily dissolve; however, it was completely
dissolved by the time the temperature of the mixture reached 40 ◦C. During heating to
85 ◦C, the first signs of localized light-yellow droplet-sized spots were observed at about
75 ◦C. The spots dispersed through mixing without any visible change in the color of the
solution. When the temperature reached 80 ◦C, the solution turned yellow and dark brown
droplet-sized spots became visible (see Figure 1). As soon as stirring was stopped, these
spots settled as a heavy phase, as shown in Figure 2.

The density of the light phase at 21 ◦C was determined to be 0.816 g/mL± 0.003 g/mL
and that of the heavy phase 1.209 g/mL ± 0.011 g/mL. The relatively large difference in
densities ensures rapid separation of the two phases. The pH of the light phase ranged
from 8.19 ± 0.01 at the lowest initial NaOH concentration to 8.89 ± 0.02 at the highest
initial NaOH concentration. The average content of dry matter in the light phase was
5.4 g/L ± 0.5 g/L, with no significant correlation to the initial NaOH concentration.
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3.1.1. Effect of the Initial NaOH Concentration on Concentration of
Residual Formaldehyde

If n-butanol is to be reused in the production of BAR, it is required that as little
formaldehyde as possible be present in the n-butanol. The upper bound on the mass
fraction of residual formaldehyde is, however, set at 0.1%, which corresponds to a mass
concentration of about 830 mg/L. Figure 3 shows the mass concentration and mass fraction
of residual formaldehyde for the four different initial concentrations of NaOH. All the
samples but for γNaOH = 2.4 g/L had to be diluted to reach the measuring range of the
test kit used to determine the formaldehyde content. This explains the wider error bars
observed at low NaOH concentrations, as they are a consequence of multiplying the
standard deviation calculated for the diluted samples by the dilution factor.
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The results show that the mass fraction of residual formaldehyde is below the estab-
lished limit, even at the lowest initial concentration of NaOH. As a general trend, increasing
the initial concentration of NaOH decreases the mass concentration of formaldehyde from
167 mg/L ± 7.6 mg/L (γNaOH = 2.4 g/L) to 3 mg/L ± 0.2 mg/L (γNaOH = 7.4 g/L). Based
on these results, it can be concluded that the CR/FR scheme is a viable way to remove
formaldehyde from the crude n-butanol solution.

3.1.2. Effect of the Initial NaOH Concentration on Volume of Heavy Phase Formation and
Content of Water in the Light Phase

The results presented in Figure 4 show that the initial concentration of NaOH af-
fects the volume of the heavy phase formed. The volume of the heavy phase increases
with the concentration of NaOH and ranges from 2 mL (γNaOH = 2.4 g/L) to 10 mL
(γNaOH = 7.2 g/L). The heavy phase formed thus accounts for 1% to 4% of the original
solution volume. In addition, a considerable decrease in the mass fraction of water in the
light phase was observed. In contrast to the initial 12% in the crude n-butanol solution, the
average mass fraction of water in the light phase was 4.3% ± 0.4%.
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3.1.3. Separation of N-Butanol from CR/FR Products

In reactive systems, where multiple products are formed, isolating the main product
to the desired purity often becomes a difficult task. To verify the suitability of distillation
for the separation of n-butanol from CR/FR reaction products, the distillates were analyzed
by gas chromatography. Figure 5 shows the comparison of the chromatograms of the crude
n-butanol solution and one of the distillates (γNaOH = 7.2 g/L).

Additional quantitative data can be found in Table 1. In both, Figure 5 and Table 1,
only the peaks whose area fraction (φAtotal) is greater than 0.05% in crude butanol sample
are noted.

The two most pronounced peaks correspond to methanol (A) and n-butanol (C).
Among the remaining peaks, the one labeled B corresponds to isobutanol, while peaks D
and E correspond to unidentified components. It should be pointed out that the experiment
performed at γNaOH = 3.6 g/L has the largest number of components detected. Compared
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to the other samples, the peak count is about 30% higher than the average peak count of the
other four samples analyzed (Npeaks = 37). Based on the data collected during the study, the
reason for this discrepancy cannot be accurately determined, as it could be due to either the
unique concentration of NaOH, the slightly unpredictable course of the CR /FR reaction,
or some other uncontrolled experimental variable.
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Table 1. Gas chromatography peak table.

ΦAtotal (%)

Name Component tr
(min)

Crude
N-Butanol

γNaOH
(2.4 g/L)

γNaOH
(3.6 g/L)

γNaOH
(4.8 g/L)

γNaOH
(7.2 g/L)

A methanol 4.62 0.574 0.399 0.586 0.373 0.689
B isobutanol 10.01 0.050 0.055 0.056 0.054 0.058
C n-butanol 11.36 98.928 99.124 98.877 99.310 98.929
D / 16.90 0.097 0.099 0.100 0.096 0.102
E / 17.95 0.092 0.001 0.008 0.001 0.005

ΣφA 99.741 99.678 99.627 99.834 99.783

Npeaks 37 38 52 33 41

In general, however, it can be concluded that if additional volatile reaction products
are present in the distillate, they are present in trace amounts comparable to those in crude
n-butanol. Therefore, distillation or, in the context of process development, evaporation is
a viable method for separating n-butanol from CR/FR reaction products.

4. Separation Process Design

Based on the experimental results, a conceptual scheme for a continuous process for
n-butanol recovery can be constructed (Figure 6). Crude n-butanol solution (1) and NaOH
(2) are mixed in a mixing tank (T). The solution is heated in a heat exchanger (HX1), which
can be considered as a plug flow reactor. The two-phase reaction mixture is fed to the
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decanter (D1), where the light phase is separated from the heavy phase. The heavy phase
represents a waste product (5). The light phase (6) is fed to evaporator (E). The concentrate
(7), which contains non-volatile products, is disposed of as waste. The vapor phase (8)
containing n-butanol, isobutanol, methanol, water and traces of residual formaldehyde is
condensed and fed to the distillation column (DC). The bottoms product (10) is a mixture
of n-butanol/isobutanol with traces of water and formaldehyde. The distillate (12) is
condensed and fed to the decanter (D2), where the organic phase (n-butanol reach) is
separated from the inorganic phase (n-butanol lean). The n-butanol reach phase is mixed
with the feed of the distillation column. The n-butanol lean phase is considered as a waste
stream (15). To obtain mass and energy balances, the process scheme shown in Figure 6
was simulated in Aspen Plus v10 using universal quasichemical thermodynamic model
(UNIQUAC) under the following simplification and assumptions:

• Mass flowrate of crude n-butanol solution is 1 t/h;
• Mass concentration of NaOH is 5 g/L;
• Formaldehyde is converted exclusively by FR with 99% fractional conversion;
• Reaction takes place at 85 ◦C;
• Mixture of CR/FR products are considered as a single lumped component (simulated

by glucose);
• Nonvolatile substances are completely removed in decanter (D1) and evaporator (E).
• Waste stream leaving decanter (D1) represents approximately 10% of the feed stream

by volume;
• NaOH is equally distributed between the heavy and light phase;
• Recovery of volatile substances in the evaporator is 95%;
• Mass fraction of water in the evaporation condensate is between 4% and 5%.
• Distillation column containing 10 equilibrium stages is fed at the top stage;
• Process operates at atmospheric conditions.
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The simulation results show that, under the above assumptions, 0.8 t/h of high purity
n-butanol can be recovered from the crude n-butanol feed, thus the separation efficiency
of the process is about 94%. The purity of n-butanol in product stream (11) is 99.76%.
The remaining 0.24% is distributed among isobutanol (0.2%), water (0.02%) and residual
formaldehyde (0.02%). Cumulative flowrate of waste streams (5, 7, 15) is 0.204 t/h, of
which 60% is water, 26% n-butanol and 14% mainly products of CR/FR and NaOH. The
properties of the streams are given in supplementary material (Table S1). The process
requires 443 kW of hot utility and 417 kW of cold utility. The energy intensity of the process
is thus 3.86 MJ/kg of purified n-butanol.

5. Improving Energy Efficiency through Heat Integration

Heat integration plays a key role in increasing energy efficiency and thus reducing
operating costs in the process industry. Pinch analysis [19] is one of the approaches [20] to
systematically exploit the energy potential of a process at an early stage of its development.
Hot and cold process streams extracted from the simulation are given in Table 2.

Table 2. Hot and cold process streams (nominal operating conditions).

Name TS (◦C) TT (◦C) H (kW) Type

HX1 25 85 58 Cold
HX2 114 115 183 Cold
HX4 117 118 202 Cold

HX3-C 115 114 164 Hot
HX3-SC 114 52 41 Hot

HX5 117 40 55 Hot
HX6-C 96 89 136 Hot

HX6-SC 89 40 21 Hot
C–condensation; SC–subcooling.

According to the flowsheet in Figure 6, there are three hot streams and three cold
streams in total. However, note that streams HX3 and HX6 are segmented to account for
subcooling of the condensates.

From the composite curves in Figure 7a, it is evident that relatively small amount of
heat can be recovered through heat integration. The only possible heat exchange among
the process streams is highlighted in yellow. The target minimal hot utility consumption
is 385 kW and cold utility 359 kW. The main reason for this is that the condensers and
reboilers of the distillation column and of the evaporator operate at similar temperatures
(see grand composite curve in Figure 7b).
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In principle, the utility consumption can be reduced by changing the operating pres-
sure of the evaporator and distillation column. If the pressure in the evaporator is increased
and the pressure in the distillation column is decreased, partial heat integration can be
achieved between the condenser of the evaporator and the reboiler of the distillation col-
umn. Conversely, partial integration can be achieved between the distillation column
condenser and the evaporator reboiler.

Considering that the products of CR/FR form significant deposits on the heat exchange
surfaces at higher temperatures, reducing the pressure in the evaporator and increasing the
pressure in the distillation column offers a more effective alternative.

In this context, it is proposed to operate the evaporator at 0.15 bar and the distillation
column at 1.5 bar. Changing the operating conditions in the two process units, not only
changes the values of the target and target temperatures, but also slightly changes the
enthalpy content of the process streams. Partly due to the design, partly due to the
circumstances, the subcooling of the evaporator condensate is no longer necessary. Hot
and cold process streams of the process under optimized conditions are given in Table 3.

Table 3. Hot and cold process streams (optimized operating conditions).

Name TS (◦C) TT(◦C) H(kW) Type

HX1 25 85 58 Cold
HX2 68 69 163 Cold
HX4 129 130 200 Cold

HX3-C 69 52 186 Hot
HX5 129 40 65 Hot

HX6-C 107 101 122 Hot
HX6-SC 101 40 24 Hot

C–condensation; SC–subcooling.

As can be seen in Figure 8a, the potential for heat recovery increases in comparison
to the one shown in Figure 7a. The target hot and cold utility consumption is more than
halved to 211 kW and 187 kW, respectively. However, the full potential of heat recovery
in composite curves cannot always be fully exploited, as such an endeavor can lead to
complex process schemes that can cause problems in process controllability, flexibility,
reliability and, last but not least, safety [21]. To reduce the complexity of the heat-integrated
process, the decision was made in advance to avoid the heat exchange between the process
background streams (streams HX1, HX5 and HX6-SC) and the streams associated with the
evaporator and condenser (streams HX2, HX4, HX3-C and HX6-C). A grand composite
curve satisfying this constraint is shown in Figure 8b. As expected, the minimum utility
targets are not met. However, 180 kW of the potential 210 kW (86%) of heat can be recovered.
The enthalpy of condensation from the distillation column condenser can be fully recovered
in the evaporator. In addition, a small amount of heat can be exchanged among the streams
in the process background.

The heat-integrated process according to the grand composite curve in Figure 8b is
shown in Figure 9. The utility-driven heat exchangers are shown in blue (cooling water)
and red (steam), while the heat exchangers where heat is recovered are shown in yellow.

The heat of condensation of the distillation column distillate is used to reduce the
steam consumption of the evaporator (HX6). The waste heat of the distillation column
bottoms product is used to preheat the reaction mixture to the desired 85 ◦C (HX5).

Keeping the system under vacuum becomes expensive when large amounts of non-
condensable gasses must be evacuated from the system. The production capacity of the
studied process is, however, small and all the vapors from the single-effect evaporator
are condensable. Therefore, the vacuum pump only needs to evacuate the leakage gasses
(air). If the system is well sealed, one can expect rather low leakage. According to the
data [22], the air leakage for a 3 m3 system (evaporator) should be well below 2.5 kg/h,
which corresponds to 16.4 m3/h at 0.15 bar and 70 ◦C. This volume flowrate would require
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a relatively small vacuum pump (0.75 kW [23]), which accounts for less than 0.2% of the
total hot and cold utility consumption.
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Figure 9. Flowsheet of heat-integrated process (T-mixing tank, HX-heat exchanger, D-decanter,
E-evaporator, DC-distillation column).

Thus, the heat-integrated process shown in Figure 9 requires 241 kW of hot utility
and 217 kW of cold utility. The resulting energy intensity of the process is 2.42 MJ/kg of
purified n-butanol.

6. Economic Evaluation

The process scheme (Figure 9) is evaluated using net present value (NPV) and after-tax
return on investment (ROI) as metrics. The production of butylated amino- resins is a rather
specialized chemical production process with production capacities significantly lower
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than those of bulk chemicals. In this context, the need for a capacity of 1 t/h is probably at
the upper limit. Therefore, the scenarios were compared for capacities of 1 t/h, considered
as an industrial application, and 0.1 t/h, considered as a pilot-scale application.

The crude n-butanol stream (1), if not treated, would represent a waste stream to be dis-
posed of at a price of 300 EUR/t. The price of pure n-butanol is 1000 EUR/t, of sodium hy-
droxide 500 EUR/t, of waste-stream disposal 300 EUR/t, of hot utility 0.0318 EUR/(kW·h)
and of cold utility 0.0031 EUR/(kW·h). The prices were adopted as proposed by the
cooperating company. The following additional assumptions were used in the analysis:

• The process operates 8400 h/a;
• The estimated life of the project is 10 years;
• A uniform rate of depreciation and a salvage value of 10% is assumed;
• The tax rate on profit (rt) 25%;
• The interest rate is 20%;
• Cost of maintenance represents 5.5% of total depreciable cost.

The estimated values of capital investment, operating costs, revenues, etc. needed
for the analysis, as well as the values of the metrics for the two scenarios, are shown in
Table 4. As indicated by the positive NPV and ROI values, the process can be considered
economically viable. The high NPV and ROI values are primarily a consequence of the fact
that significant savings are achieved in two ways. Firstly, in the cost of disposing of the
waste n-butanol (≈80% reduction) and secondly, in the cost of purchasing fresh n-butanol
(≈94% reduction). Unlike the more common cases where an increase in prices of raw
materials tends to reduce the economic viability of a process, here an increase in the price
of n-butanol and, to some extent, waste stream disposal increases both the NPV and ROI.

Table 4. Profitability analysis results.

Scenario 1 Scenario 2

Capacity (t/h) 1.0 0.1
Equipment cost a (MEUR) 0.877 0.352
Working capital (MEUR) 0.201 0.080

Total capital investment (MEUR) 1.539 0.617
Operating cost (MEUR/a) b 0.599 0.060

Total cost (MEUR/a) c 0.874 0.227
Revenue (MEUR/a) 9.110 0.911

NPV (MEUR) 23.722 1.634
ROI (%) 383 79

a Estimated using Aspen Process Economic Analyzer. The equipment cost includes vacuum system cost.
b COperating = CSodium Hydroxide + CHot Utility + CCold Utility + Celectricity + CWaste Disposal. c CTotal = COperating +
CMaintenance + CLabor.

During the life of the process, however, several unexpected or difficult-to-predict
events may occur that could significantly affect the economic viability of the process.
These may be changes in prices of raw materials, products, waste disposal and treatment,
utilities, etc., changes in production capacity due to changes in market demand or due to
downtime (equipment failure, unavailability of raw materials, etc.). With this in mind, a
sensitivity analysis was carried out to determine the resilience of the design to changes in
values of selected parameters. The parameters considered were the production capacity,
the annual operating time expressed as a percent of the assumed full operating time,
and the price of fresh n-butanol. The capital investment was considered as a function of
production capacity, while the total annual costs and revenue were considered as functions
of production capacity (qm), percent of operating time (φt; φt = 8400 h/a = 100%), and price
of fresh butanol (CB). The sensitivity analysis can be written in a condensed form by the
pseudocode shown in Algorithm 1.
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Algorithm 1 Sensitivity Analysis

1: Input: Cn-butanol
2: i = 1
3: j = 1
4: for qm = 0.1:∆qm:1
5: for φt = 0:∆φt:100
6: Ii,j = f (qm)
7: R i,j, Ctotal i,j = f (φt, qm, Cn-butanol)
8: NPV i,j, ROI i,j = f(Ii,j, R i,j, Ctotal i,j)
9: j = j + 1
10: end
11: i = i + 1
12: end

The analysis was carried out for production capacities between 0.1 t/h and 1 t/h,
percent of operating time between 0% and 100%, and three distinct prices of n-butanol:

1. Nominal price (1000 EUR/t);
2. Critical price (235 EUR/t), at which the NPV of the process with a production capacity

of 0.1 t/h becomes negative even at φt = 100%;
3. Limiting price (0 EUR/t), at which the only factor contributing to the profit is the

savings in the costs of the waste disposal.

The results of the analysis are shown in Figure 10. Each plot in the figure shows three
distinct regions. These are: iii) region of negative NPVs, ii) region of positive NPVs for
which the ROIs are lower than 30% and iii) region of positive NPVs for which the ROIs are
greater than 30%.
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For the sake of discussion, let us accept that the process is economically viable if NPV is
positive, and ROI is greater than 30%. Under the nominal price assumption (Figure 10a), it
can be determined that process operating at maximum production capacity is economically
viable, even if it operates for only 10% of the assumed full operating time. On the other
hand, the process operating at the minimum capacity (0.1 t/h) needs to operate at least
40% of the assumed full operating time. In the case of the critical price (Figure 10b), the
process operating at minimum capacity is not economically viable as NPV is negative for
all values of φt. However, in comparison to the previous case, the process operating at its
maximum capacity needs to operate slightly more than 20% of the full operating time to be
economically viable (positive NPV). The last case (Figure 10c) is the case of the limiting
price. The lowest capacity that makes the process economically viable is slightly above
0.4 t/h. In this case, the process needs to operate full-time. Additionally, at the maximum
capacity, the process needs to operate more than 55% of the full operating time.

In the analysis thus far, it was assumed the generated profit is taxed (25%). However,
if the proposed n-butanol purification process is to operate within the resins production
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company, the profit can be tax-exempted. Eliminating the tax increases the profit and,
thus, NPV and ROI. However, as seen in Figure 11, the effect is hardly noticeable in the
cases of nominal price and critical price. The latter is, however, reduced from 235 EUR/t
to 185 EUR/t. A somewhat more noticeable impact is observed in the limiting price case
(Figure 11c).

Processes 2022, 10, x FOR PEER REVIEW 13 of 16 
 

 

The results of the analysis are shown in Figure 10. Each plot in the figure shows three 

distinct regions. These are: iii) region of negative NPVs, ii) region of positive NPVs for 

which the ROIs are lower than 30% and iii) region of positive NPVs for which the ROIs 

are greater than 30%. 

 

(a) (b) (c) 

Figure 10. Results of sensitivity analysis at 25% tax rate on profit. (a) Nominal price; (b) Critical 

price; (c) Limiting price. 

For the sake of discussion, let us accept that the process is economically viable if NPV 

is positive, and ROI is greater than 30%. Under the nominal price assumption (Figure 10a), 

it can be determined that process operating at maximum production capacity is econom-

ically viable, even if it operates for only 10% of the assumed full operating time. On the 

other hand, the process operating at the minimum capacity (0.1 t/h) needs to operate at 

least 40% of the assumed full operating time. In the case of the critical price (Figure 10b), 

the process operating at minimum capacity is not economically viable as NPV is negative 

for all values of ϕt. However, in comparison to the previous case, the process operating at 

its maximum capacity needs to operate slightly more than 20% of the full operating time 

to be economically viable (positive NPV). The last case (Figure 10c) is the case of the lim-

iting price. The lowest capacity that makes the process economically viable is slightly 

above 0.4 t/h. In this case, the process needs to operate full-time. Additionally, at the max-

imum capacity, the process needs to operate more than 55% of the full operating time. 

In the analysis thus far, it was assumed the generated profit is taxed (25%). However, 

if the proposed n-butanol purification process is to operate within the resins production 

company, the profit can be tax-exempted. Eliminating the tax increases the profit and, 

thus, NPV and ROI. However, as seen in Figure 11, the effect is hardly noticeable in the 

cases of nominal price and critical price. The latter is, however, reduced from 235 EUR/t 

to 185 EUR/t. A somewhat more noticeable impact is observed in the limiting price case 

(Figure 11c). 

 

(a) (b) (c) 

Figure 11. Results of sensitivity analysis at 0% tax rate on profit. (a) Nominal price; (b) Critical price;
(c) Limiting price.

7. Conclusions

The proposed concept of the process for recovery of n-butanol from n-butanol-reach
waste streams originating in BAR production process was found to be efficient in terms of
n-butanol recovery efficiency and energy intensity. It also proved to be economically viable.

The experiments conducted to determine the feasibility of formaldehyde removal
from crude n-butanol solution by CR/FR confirmed that formaldehyde can be rapidly
and efficiently converted to CR/FR products and at reasonable temperature and mass
concentration of NaOH. There is, however, much room for optimization of formaldehyde
conversion because it is known that the presence of organic co-catalysts, such as lower
monosaccharides at concentrations as low as 3 mg/L [24], shortens the induction phase of
the formose reaction. In addition, to determine the optimal conditions for CR/FR, a more
systematic approach based on the design of experiments coupled with response surface
methodology [25] could be used. This would allow us to methodically scan and test the
operating conditions and derive surrogate mathematical models which would be used to
determine the optimal operating conditions.

In the context of the proposed process scheme, the most enticing upgrade that would
further increase recovery efficiency would be to introduce an additional column to obtain
the common two-column configuration. However, in addition to a relatively low flowrate of
n-butanol lean stream (the potential feed to the second column), considerable purging might
be needed in order to obtain high-purity n-butanol. Both of these factors may render the
two-column scheme unjustified. Last but not least, CR/FR products may cause difficulties
in the evaporation due to scaling. Although evaporation under vacuum may diminish the
scaling to a certain extent due to lower operating temperatures, the solids content (CR/FR
products) could be further reduced by pre-filtration (e.g., with activated carbon).
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Nomenclature
Symbols

C Annual cost (EUR/a): price (EUR)
H Enthalpy flowrate (kW)
I Investment (EUR)
N Number of samples
qm Mass flowrate (kg/h)
R Revenue (EUR/a)
rt Tax rate (%)
T Temperature (◦C)
t Time (h)
U Voltage (V)
V Volume (mL)
w Mass fraction (%)
γ Mass concentration (g/L)
σ Standard deviation
φ Fraction (/), percent (%)

Subscripts/Superscripts

R Retention
S Supply
T Target
* Shifted

Abbreviations
BAR Butylated amino resins
CR Cannizzaro reaction
FID Flame Ionization Detector
FR Formose reaction
NPV Net Present Value
ROI Return on Investment

Appendix A

Cannizzaro reaction is given by Equation (A1) [14,16].

2HCHO OH−→ CH3OH + HCOO− (disproportionation) (A1)

Formose reaction, according to [14,16,18], is given by Equation (A2)

2HCHO
NaOH
� C2H4O2 (dimerization to glycolaldehyde)

CiH2iOi
NaOH
� Ci−jH2(i−j)Oi−j + CjH2jOj (retroaldolization)

CjH2jOj + HCHO
NaOH
� Cj+1H2(j+1)Oj+1 (aldolization)

CmH2mOm + CnH2nOn
NaOH
� Cm+nH2(m+n)Om+n (aldolization)

where :
i = 4− 7; j = 2− 4; m, n = 2− 5; m + n < 8

(A2)
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