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Abstract

In the last decades, as fossil fuels consumption increased, the global warming became of great
concern. The impact of the rising earth temperature is caused by greenhouses gases
emissions, mainly CO2. Among several solutions, Carbon Capture and Storage (CCS) arose
interest in both research and industry, as a practical short-term solution that can be
implemented in pre-existing plants. The next step to CCS would be the CO2 utilization, as it
can be used as a low-cost reactant, due to its large availability, to synthetize valuable
chemicals. One of the chemicals that can be produced from this gas is DME, a volatile organic
compound that can be used both as a diesel substitute in current engines and energy carrier.
However, its synthesis from CO2 is severely affected by thermodynamic limitation, which
results in low DME yield.

Water is the main by-product of these reactions and its removal can potentially increase CO2
conversion and the DME yield, shifting the equilibrium towards DME production. In order to
effectively remove water from the reaction zone, a membrane reactor can be used. In this way,
water can be continuously removed as it is produced. This concept is not new to research
and zeolite membranes have been already tested for this purpose. However, the acidity of
zeolite membranes makes them unstable in hot and humid environment. Moreover, it is
difficult to produce a crack-free membrane that can be used for industrial application.

Carbon molecular sieve membranes (CMSMs) were considered as a suitable alternative to
zeolites, as they have high chemical and thermal stability. Their hydrophilicity can enhance
water permeation and their ultramicropores can increase their selectivity towards the gases.
However, the membrane properties of carbon membranes can significatively vary, depending
on their synthesis methodology.

In this study, two carbon membranes, carbonized at different temperature, were
characterized and tested in order to evaluate their performance. Permeance and selectivity
were measured experimentally and implemented in a 1D-isothermal-membrane reactor
model, which predict their performance in both the direct and indirect DME synthesis.

In this study we found that the membrane structure, thus the membrane performance, is
affected by the different carbonization temperature. In particular, the carbonization
temperature influences the membrane pore-size and hydrophilic behaviour. Moreover, a
higher CO2 conversion and DME yield was reached by the model compared to the
conventional production methods, in both direct and indirect process.

Lastly, we highlighted room for improvement on carbon membrane synthesis, so that they
can be successfully implemented for industrial purposes in the future.
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Chapter 1
Introduction

Worldwide, fossil fuels represent the main source of energy. The fossil fuels consumption
increased exponentially in the last century, causing an increase in greenhouses gas emissions.
[1] Consequently, the superficial temperature of the planet also increased, causing several
problems. This increase in temperature is currently well known as global warming.

The global warming is raising major concern among both the scientific community and the
global population, which demands for practical solution to avoid irreversible damage to the
planet. [2] In this scenario, industries are blamed the most, as responsible for a large volume
of CO2 emission. Indeed, carbon dioxide plays a key role in the greenhouse effect, being the
first responsible for global warming. Today, the environmental impact of CO2 emissions into
atmosphere is known and understood. [2]

Therefore, limiting the amount of CO2 emitted into atmosphere represent a practical short-
term solution to the problem. Among the possible solutions, Carbon Capture and Storage
(CCS) technologies awoke the interest of both scientists and industries. CCS strategy
describes a series of operation ranging from CO: separation to its storage. [3] These
technologies are especially attractive for their feasibility in CO2 emission reduction from
different sources, as power generation and natural gas processing. [4]

However, after being captured, CO2 becomes a waste to storage, and it is likely that a large
amount of CO2 will be stored in the future. If the wasted COz could be used as a reactant for
the production of chemicals or fuels, it could be converted in a new energy source. As a result,
the large amount of stored COz would be turned to a low-cost reactant. Centi et al. [5]
reported that, since the fuel market is larger than chemicals, the most advantageous route
would be the reconversion of CO2 into valuable fuels. They also reported that Methanol and
Dimethyl ether (DME) are the preferred choice, the latter being more interesting as it is a
higher value energy carrier.

DME is a volatile organic compound with similar properties to LPG (liquid petroleum gas),
although it is non-cancerogenic and non-toxic. [6] Due to the similar behaviour to LPG and to
its high cetane number, DME is considered a valuable and cleaner fuel alternative for current
diesel engines. [7],[8] Moreover, it is a suitable solution to Hz transport, being an excellent
energy carrier, as it has a high energy density and high H/C ratio. [9] Currently, DME is mainly
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produced from syngas via two different processes, commonly called direct and indirect route.
In the direct process, DME is synthetized in one step reactor, whereas in the indirect route
the feedstock s first converted into methanol in one reactor and then methanol is dehydrated
into DME in a second reactor.

The main drawback of DME production from a COz/H: feed is that the process is
thermodynamically limited. The independent reactions involved in the DME production
process, starting from a CO2/Hz mixture, are the following:

COz + 3H2 2 CH30H + Hz20 AHo =-49.5k]/mol Eq. 1
COz + Hz2 2 CO + H20 AHo =+41.2 k]/mol Egq.2
2CH30H 2 CH30CH3 + H20 AHo =-23.4kJ/mol Egq.3

From the standard enthalpies of reaction in Eq.1, Eq.2 and Eq.3, it is possible to see that the
process is overall exothermic, therefore low temperatures favor the desired product
formation (i.e. Methanol and DME). Moreover, all the reactions are limited by thermodynamic
equilibrium.

A key issue in this process is water formation, which decrease the thermodynamic limit even
further with respect to conventional syngas route. Water is a by-product of all the reactions,
which inhibits methanol formation and its subsequent dehydration to DME. Moreover, water
can decrease the catalyst activity by 1) adsorbing on the acid active sites on which methanol
should decompose to produce DME [10] and 2) by changing the morphological structure of
the catalyst. [11] If water can be selectively removed from the reaction zone, the production
of the desired product would increase, as stated in Le Chatelier’s Principle. With this solution,
it would be possible to overcome the thermodynamic limitation and boost DME production.

A promising technology for this purpose is the membrane reactor. A membrane reactor is a
unit in which reaction and separation occur at the same time, by means of the integration of
a membrane in the catalytic bed. Theoretical studies already showed that the product yield
can greatly improve by implementing a membrane reactor in thermodynamically limited
processes. [12], [13] With the right membranes, high amount of water can be removed from
the reaction environment. Therefore, the membrane choice plays a key role for the selective
water removal.

Carbon membranes may be a valid candidate for this process due to their hydrophilic
behaviour and high chemical and mechanical stability. Although these membranes are more
expensive when compared to organic polymeric membranes, they show higher permeability
and selectivity. [14] Nonetheless, although carbon membranes are widely studied for gas
separation application, due to their molecular sieving properties, they have not yet been
intensively studied for water removal and vapor permeation.

Carbon membranes’ hydrophilic behaviour was first observed in gas permeation studies: a
decrease in gas permeance was noticed for membranes exposed to humid environments.
This was attributed to the presence of functional groups on the membrane surface. [15]
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However, what it is considered a drawback in gas separation, may represent a solution for
this system, as the presence of water may reduce the loss of reactant by blocking or reducing
the gas permeation through the membrane.

Aim of the project

In this project, the feasibility of inorganic carbon molecular sieve membranes (CMSMs) for
DME production from CO2 and H2z was tested at laboratory scale. The aim of the study was to
investigate if carbon membranes can improve the DME yield when used in a fixed bed
membrane reactor. In order to do so, CMSMs were tested for water and methanol vapor
permeation and water vapor/gas separation in different operating conditions. The influence
of carbonization temperature on both the membrane performance (permeability and
selectivity) and the membrane structure was studied. To support the study, a
phenomenological membrane reactor model was used to simulate two routes of DME
production, to understand whether the tested membranes could be used to boost one route
more than another.

Membrane performance can be influenced by its structure. Thus, to understand how the
membrane structure can influence the water removal and the surface interaction with all the
molecules involved in the reaction scheme, two membrane sample film carbonized at 600°C
and 700°C were characterized. The information of interest was the pore size distribution, the
surface functional groups still present and the water and gas adsorption on the membrane
surface. Then, permeance of water and methanol were experimentally evaluated via
permeation test for both membrane sample, and ideal selectivity was computed. Lastly, real
selectivity of water and gas mixture was derived experimentally. These results were
implemented in a 1D-phenomenological membrane reactor model and the results were
compared to traditional reactor with thermodynamic limitation, in order to demonstrate that
carbon membranes can represent a promising solution to increase DME yield. A comparison
between direct and indirect process was also simulated, to understand which route would
be the preferred one.

A more detailed theoretical background is presented in Chapter 2, which explains the
fundamentals of carbon membranes and the theory necessary to understand the next
chapters. In Chapter 3, the experimental setup and methodology are explained in detail,
illustrating the experimental procedure and the mathematical model used in the project. In
Chapter 4 results are presented and discussed, for both the experimental work and the
simulation. Lastly, in Chapter 5, conclusion is presented as well as an outlook on the subject
and the study. In this last chapter, the most important findings are summed up.
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Chapter 2
Theoretical Background

1. Membrane technology

Membrane technology is gaining importance in the last decades as a more environmentally
friendly alternative to conventional separation units. Already widely used for various
application, as water purification and gas separation, membrane separation is a less energy
demanding process, which helps to reduce the separation costs while reducing the
environmental impact of the separation process. [16]

A membrane is defined as a semi-permeable barrier, which can selectively promote the
passage of one or more component of a mixture. Therefore, at the outlet of a membrane
system, two streams are present: the permeate, which is the stream containing all the species
that were able to pass through the membrane, and the retentate, which contains the retained
compounds. The permeation of specific compound is driven by a pressure, concentration,
temperature or chemical potential gradient. Depending on the driving force, the separation
may depend on the physical properties of the compounds of the feed, or on their chemical
interaction, or both. However, the degree of the separation depends on the membrane
structure and material.

The main parameters used to assess the membrane performances are permeability and
selectivity. Permeability represents the capability of a specific molecule to pass through the
membrane. The selectivity compares the permeability of two different components to
understand which one permeates more easily through the membrane. The rate at which the
species permeate through the membrane can be correlated to the driving force through its
flux, as expressed in the following equation:

J= —A— Eq. 4

Where A is the phenomenological coefficient, and dX/dx is a generic driving force expressed
on the x coordinate, perpendicular to the membrane. Depending on the membrane structure,
the flux equation can be expressed as Fick’s law of diffusion or Darcy’s law through porous
media. The first case applies when dealing with a dense membrane structure, in which the
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permeation of the molecules is driven by a concentration gradient and the transport
mechanism is well described by the solution-diffusion model. Darcy’s law is used when the
driving force is a pressure gradient, and the membrane has a porous structure, in which the
molecules follow the pore-flow model. Beside the membrane structure classification (porous
and dense), they can also be classified depending on which material the membrane is made
of. The two main categories are organic and inorganic membranes: the first being mainly
composed by polymeric membranes, which are also the most commonly used nowadays. In
the second category, membrane made from metals, glass, zeolites and carbon are included.
[14]

2. Inorganic membranes

Currently, inorganic membranes are mainly used for energy-related purposes. [14] They can
be divided in two main groups: dense and porous membranes. Porous inorganic membranes
can also be divided in two subcategories: symmetric and asymmetric. ~Symmetric
membranes are composed by a single material and have a single morphological structure.
Asymmetric membranes have multiple morphological structures on different planes, each
one having a specific pore size. [17] Dense inorganic membranes are mainly used for
hydrogen and oxygen gas separation, whereas inorganic porous membranes are used when
gas with similar size must be separated from gaseous mixtures, due to their sieving
properties [14]. These membranes are more common in industrial applications than dense
membranes, as they show higher permeability. Furthermore, even if the production process
is more expensive than polymeric membranes, the inorganic membranes have the advantage
to reach higher permeability and selectivity, and to be more thermally and chemically stable,
when compared to the polymeric ones. [18]

Structure of Inorganic Membranes

Dense Porous
e Metals (palladium, e Oxides (Alumina, Titania,
silver and their alloys) Zirconia)

Carbon
Glass (Silica)
Metal
Zeolite

e Solid electrolytes
(Zirconia)
® Nickel

‘ Asymmetric ‘ ‘ Symmetric ‘

Figure 1: Schematic representation of inorganic membranes classification [14]

In gas separation, inorganic porous membranes are mainly used, due to the already
mentioned advantages. In this category, zeolites membranes arise particular interest due to
potentially high performances for industrial applications. [19]
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Zeolites membranes are membranes with a well-defined, microporous, crystalline structure,
containing silica, alumina and oxygen in their framework. [17]These membranes show good
stability at high temperatures and high selectivity. [5],[13] However, zeolite membranes are
sensitive to cracking when produced for large scale application, which makes it difficult the scale
up when used in membrane reactors. [20] Moreover, the presence of cracks in their structure causes
a decrease in their performance. Another cause of decrease in performance of zeolite membranes
is the sensitivity to water of their acid sites. For these reasons, zeolite membranes are not the best
candidate for water removal purposes.

Another promising choice for gas separation and, potentially, also for water removal, are
inorganic carbon membranes. These membranes have been widely studied for gas separation
due to their molecular sieve mechanism. However, a drawback of these membranes in gas
separation is their hydrophilicity. Nonetheless, this affinity towards water may be beneficial
for in situ water removal. Contrary to zeolite membranes, carbon membranes have not yet
been intensively studied for water removal applications.

3. Carbon membranes

Carbon membranes are porous inorganic membranes, which are produced via carbonization
of an organic precursor, within a thermal decomposition called pyrolysis. [21] These
membranes show high separation capability, high thermal and chemical stability, which
makes them a suitable candidate for industrial application. [18] Carbon membranes have
shown much higher selectivity compared to polymeric membranes, as they can also act as
sieves. [22], [23]. The molecular sieving mechanism, combined with adsorption, permits to
easily separate gas molecules with almost identical size. [24]

3.1. Preparation of carbon membranes

Carbon membranes can be supported or non-supported. Usually, supported carbon
membrane are preferred to the non-supported ones, due to a better mechanical stability,
which makes them appropriate for industrial applications. [25]

non-supported

hollow fiber
capillary

[ Carbon membranes

supported

Figure 2: Carbon membrane classified by configuration [18]
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Supported carbon membranes are prepared by coating a support with the polymeric
precursor, which can be made from ceramic or metallic material. Ceramic support are less
robust compared to metallic ones, however they have a better surface quality, which allows
to produce a thinner membrane layer. [26] The support can also increase the permeance of
the membrane, due to larger pores compared to the carbon layer. On the other hand, the gas
permeance and the microstructure of the carbon membrane is determined by the polymeric
precursor used during the fabrication, the fabrication process itself and the pyrolysis
condition. [25]

The precursor should satisfy precise conditions: the polymeric precursor should have high
carbon yield after pyrolysis and thermosetting properties. Some of the most used precursor
are: PFA, PVDC, cellulose acetate and phenolic resins. [18] Phenolic resins are a promising
candidate as they are commercially available, they have a high carbon yield and their cost is
quite low. [27] Moreover, carbon membranes made from phenolic resin have shown good
performance even with a single-step coating. [25],[27] This may not be always the case, as to
obtain a defect-free membrane the coating may need to be repeated several times. [24]

After the precursor is coated in a thin layer on the membrane support, which is usually made
of a-Al203, the membrane goes under thermal treatment, that can range between 500°C-
1000°C, in vacuum or inert atmosphere [25]. The heating rate is controlled and depends on
the precursor, as well as the treatment time. The temperature at which the membrane is
treated during this step is called carbonization temperature and has a direct effect on the
membrane structure and performance. Indeed, depending on the temperature at which the
membrane is carbonized, different atoms group are removed from the precursor, affecting
the microstructure of the carbon layer. Generally, the higher the carbonization temperature,
the less similarity can be found between the final membrane structure and its precursor. [18]
The amount of atom group removed from the carbon layer during pyrolysis can affect the
membrane hydrophilicity, as it strictly depends on the oxygen-containing surface groups.
[15] Furthermore, the carbonization temperature also affects the pore size distribution of
the carbon layer, as it is responsible for the changing in the morphological structure of the
selective layer. Indeed, it has been observed that the pores start to appears at Tcarb=500°C,
they enlarge up to Tcarb=700-800°C and shrinks at Tcarb>800°C, with the best performance
obtained at Tcarb=700°C for gas separation. [28].

3.2.  Transport mechanism through carbon membranes

Transport mechanism through carbon membranes for vapor permeation and water removal
is still under studies and not well understood. However, the transport mechanism has been
intensively studied for gas separation from gaseous mixtures and it depends on the
difference between the membrane pore size and the gas molecule size.

Carbon membranes show a binodal pore size distribution, with both ultramicropores and
micropores, as shown in Figure 3:
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Figure 3: Pore size distribution trend for carbon membranes. [18]

17

Both micropores and ultramicropores contributes to determine the transport mechanism
through the membrane, accounting for two different contribution. Within the microporous
structure, sorption takes place, whereas in the ultramicroporous structure, the predominant
transport mechanism is molecular sieving. [18] This combination of both micropores and
ultramicropores guarantee both high permeance and high selectivity in carbon membranes.
However, other transport mechanisms are involved in gas permeation, even though
molecular sieving is the predominant one.

Particularly, four different mechanism best describes the gas permeation through carbon
membranes: viscous flow, Knudsen diffusion, selective adsorption-surface diffusion and
molecular sieving (Figure 4). Depending on the pore size distribution, one or more of these
mechanisms may dominates the overall transport.

Figure 4: Main transport mechanisms in gas separation using carbon membranes. A schematic

representation. [18]
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When viscous flow is detected during gas permeation, it indicates that the membrane has
fabrication defects. In case of viscous flow, the permeate flux of gases is rather high, causing
an increasing of the gas permeability. On the other hand, as the defects are in the order of
macropores, the selectivity is very low. If permeance is increasing with increasing pressure,
then it is proven that viscous flow is the predominant transport mechanism and the
membrane has cracks. [18]

When the mean free path of the molecule is higher than the mean pore diameter of the carbon
membrane, Knudsen diffusion occurs. In this case, the permeation rate of each gas molecule
is inversely proportional to the square root of their molecular weight. [29] However, the
selectivity obtained when this mechanism takes place in gas separation, are quite low and
they are not really practical. [18]

Another mechanism that may occur in carbon membranes is the selective adsorption-surface
diffusion, which consists in the permeation of non-adsorbable gases from the one which can
adsorb on the membrane surface. [14] This mechanism is generally coupled with other
mechanisms, such molecular sieving or Knudsen diffusion and it is affected by temperature:
low temperatures enhances the gas adsorption on the membrane surface. When this
mechanism is present, high selectivities are possible due to the restriction of the pore size
caused by the presence of the adsorbed molecules on the pores walls. [18]

Lastly, the predominant transport mechanism, as already mentioned is molecular sieving.
Carbon membranes have pores with relatively wide openings and with corresponding
narrow constrictions. These constrictions are similar in size to the molecular size of gaseous
molecules, thus it is possible to effectively separate gases by tuning the dimension of these
constrictions, even when they have a similar molecular diameter [14] For this reason, larger
molecules are retained as they are not capable to pass through the pore. Moreover, when the
pore size is sufficiently small compared to the molecule size, repulsive forces dominates, and
activation energy is required to diffuse. Therefore, it is possible to separate molecules with
similar size, based on the energy needed to pass through. [18]

3.3.  Capillary condensation

Until now, gas transport mechanisms were presented. However, when dealing with
condensable substances, as water in vapor form, another phenomenon starts to play a role,
called capillary condensation. This mechanism plays a role in vapor permeation through
small pores and it is not well described yet for a membrane system. [30] Capillary
condensation is a mechanism in which vapors condensate in the membrane small pores due
to a pressure change within the pores, approaching the partial pressure of the condensable
gas. Usually, this phenomenon is the results of a multilayer adsorption on the pore walls,
which reduce the pore size, therefore a change in pressure is expected inside the pore. [31]
When this pressure change reaches the saturation pressure, the vapor condenses into the
pore, partially or completely, reducing the pore size even more. The pressure at which the
vapor condensates within the pores is described by Kelvin equation, and it is function of the
operating temperature. [32]
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where MW the molecular weight, p the density of the condensed phase, Py is the saturation
pressure for a planar phase, Pk the capillary condensation pressure, o the interfacial tension,
rp the pore radius and 9 the contact angle.

It is difficult to predict how condensation happens within the pore of a membrane, although
Lee etal. [32] presented six different flow models, shown in Figure 5. They six cases reported
are described as:

1) in the first case, the flow is described by a combination of Knudsen diffusion and
surface diffusion,

2) in the second case, capillary condensation dominates close to the pore entrance,
whereas surface diffusion dominates towards the end,

3) the third case is the one in which only capillary condensation is happening,

4) in the fourth case, the upstream end of the pore is filled with condensate and no
force acts on that side.

5) The upstream end of the pore is in the same condition as 4), however, capillary
condensation is happening downstream.

6) In the sixth and last case, the pore is completely filled with bulk condensate with
no meniscus present.

However, these cases do not describe accurately capillary condensation in the membrane
pores. The reason being that the membrane pores are not perfectly cylindrical, as Lee et al.
assumed. Moreover, the pore size in inorganic membranes is not uniform, as already stated
in the previous sections. [30]
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Figure 5: Flow models for capillary condensation in small cylindrical pores. [32]
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Although the description of the phenomenon is still under investigation, the effects of
capillary condensation on gas permeance is known. Indeed, due to the liquid blockage, gas
permeation decreases drastically, reaching very high selectivity with respect to the
condensable vapor. [33] Moreover, the permeance of the condensable vapor also increase,
due to the interaction between the molecules in vapor phase with the one on the liquid films
that forms in the pore is increasing. This effect makes these types of membrane valuable
candidates for water removal from a slightly superheated stream.

4. DME production

Dimethyl ether (DME) is a volatile organic compound, which can be easily stored as liquid when
pressurized above 0.5MPa, with similar properties to LPG (liquid petroleum gas). [6], [34] For
example, DME and LPG have similar vapor pressures, which enable DME to be stored and
transported in already existing LPG infrastructures. [35] Due to their similarities, DME is regarded
as a promising alternative fuel, especially in already existing diesel engines. Furthermore, it can
be used as a household gas and as a more environmentally friendly refrigerant and aerosol, due to
its zero-ozone depletion potential compared to traditional refrigerants. [36]

DME is considered a greener fuel compared to petroleum derived fuels and natural gas for
different reasons. Firstly, since DME has no C-C bonds and contains about 35% oxygen,
unburned hydrocarbons and carbon monoxide content in combustion products is lower than
natural gas. [34] Moreover, it has a higher cetane number than diesel, which makes DME an
alternative to current fuels with little to no emission of NOx and particulate matter. [37]
However, the heat value of DME is lower than diesel, which means that higher amount of DME
is needed to reach the same power output. [37]

DME is currently produced via syngas, which can be be produced by a variety of feedstocks,
ranging from coal and petroleum to natural gas and waste products. Currently, natural gas is
the preferred feedstock for its large availability and the possibility to have a production cost
independent of the oscillations in the oil price. [38]

DME can be produced via two different routes: the indirect and the direct route. In the first
case, methanol is first synthetized from syngas (Eq. 6 and Eq. 7). Then, methanol is purified
and subsequently dehydrated into DME in a second reactor, over an acid catalyst (Eq. 8). As
the overall indirect process is slightly exothermic, the methanol dehydration is favored by
lower temperature, reducing by-products formation, such as coke. [36] Moreover, since the
dehydration is an equilibrium reaction, both DME and H20 inhibit methanol conversion to
DME, as it can be seen in Eq. 8:

CO + 2H, & CH;0H, Eq.6
€O, + H, & CH;0H + H,0 Eq.7
2CH;0H o CH;0CHs; + H,0 Eq.8
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In case of direct route, methanol production and its subsequent dehydration to DME happen
within the same reactor over a bifunctional catalyst. This means that equations 6, 7 and 8
happen in one step only. The overall process is highly exothermic, thus temperature control
is important to avoid runaway reactions. [34] Moreover, water gas shift reaction must be
considered in this process, which leads to CO2 production as main by-product. Therefore, the
following equation has to be added to the ones previously shown:

CO + H,0 & C0,+ H, Eq. 9

Since all the reactions involved in the process are in equilibrium, the consumption of
methanol during dehydration (Eq. 8) shifts the equilibrium towards the products, allowing
for higher methanol production and, consequently, higher methanol conversion to DME. [34]
Thus, direct process is preferred over the indirect process, as it allows for higher CO
conversion and a simpler design, which leads to lower production costs compared to the two
step methanol dehydration, even though the downstream separation of DME and CO2become
difficult, especially when unconverted methanol is present. [39], [34]

However, a more interesting feedstock to produce DME would be CO2. Carbon dioxide is
currently regarded as a waste, which is emitted into atmosphere or stored underground.
Using it as a reactant would transform a waste into a valuable low-cost source and would
avoid CO2 emission into atmosphere, reducing its impact on global warming. As already
stated in Chapter 1, the main limit of using CO: as feedstock, instead of CO, is the high amount
of water, which is not consumed through the WGS reaction. Indeed, when CO: is used as
feedstock, the reverse water gas shift reaction happens in the system, generating even more
water as byproduct of the overall reaction (Eq.1, Eq.2, Eq.3). A possible solution to shift the
equilibrium towards the products, is the removal of water. Therefore, a membrane reactor is
investigated as potential solution for the problem.

In a membrane reactor, a selective membrane towards water can be implemented. In this way,
water permeates from the reaction zone to the permeation zone, where it is subsequentially
removed from the reactor. By removing water, the equilibrium is shifted towards the
products. However, the choice of the membrane should be carefully considered. Indeed, a
membrane that inhibits gas permeation is needed, in order to avoid reactant or product loss,
as Hz or methanol.

It might happen that the membrane selectivity to methanol is low. In this case, when applied
to the direct process, methanol permeates with water before having time to be converted
into DME. In this scenario, there is a product loss, which is not desired. However, the low
selectivity to methanol does not imply that the membrane cannot be used. Indeed, it might
be that it has good performances in the indirect process. When used in the first step, water
removal can increase methanol production, as well as methanol removal. Then, since
methanol is separated from water between the first and the second stage, it can be recovered
and fed in the second stage.
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Chapter 3
Experimental

1. Carbon membranes

The carbon membranes studied in this project were provided by Tecnalia (Spain) and
selected from different membrane samples after an initial screening. These membranes are
characterized by an amorphous a-Al203 support and derives by the carbonization of a
Novolac precursor. The precursor contains:

Novolac-L 13% ;
Formaldehyde 2.4%);
Alumisol 0.8%;
Ethylenediamine 0.6%;

Two membranes carbonized at two different temperature were selected, named 403-N and
405-N, with a carbonization temperature of 600°C and 700°C respectively. In this study, the
membranes will be called CM600 and CM700 for readability purposes.

CM600

CM700

Figure 6: Carbon membranes tested. On top, 403-N at Tca, = 600°C. On bottom, 405-N, Tcarn=700°C.

The length of the carbon selective layer is between 11.5 and 13 cm, with an estimated film
thickness of 4um and a membrane area of 4.71-10-3m?2.
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2. Characterization

Carbon membrane films were provided by the company as well, as a fine powder was
required for all characterization techniques. The carbon films provided by Tecnalia, were
prepared in the same conditions of the membrane CM600 and CM700. The films were
grinded to obtain a fine powder, ready to use for characterization purposes.

2.1.  Nitrogen physisorption analysis

Surface area, pore volume and pore size distribution were determined by the nitrogen
physisorption at 77 K, using a Tristar II 3020. The isotherms were elaborated according to
the Brauner-Emmett-Teller (BET) method. Before the analysis, the samples were outgassed
under vacuum conditions at 250 °C for 4h to assure a clean surface. In these conditions, the
humidity bounded to the surface evaporates and does not interfere with the physisorption
analysis.

The basic principle on which is based the BET analysis is to evaluate the adsorption of a gas
at constant temperature and different pressure, in order to create an adsorption isotherm.
Since it is based on physical adsorption, the gas used should be inert and, therefore, nitrogen
is usually used. The temperature at which the adsorption is conducted is the boiling point of
liquid nitrogen. From the volume of adsorbed nitrogen, it is possible to calculate the pore size
distribution of the sample.

2.2.  Fourier Transformed Infrared Spectroscopy (FTIR)

To investigate the presence of residual functional groups after the carbonization process, the
FTIR (Fourier Transformed Infrared Spectroscopy) analysis was performed. This technique
is designed to identify inorganic and organic molecules bonds by means of infrared radiation
containing different light frequencies. This radiation is sent to the sample, which, in turns,
absorbs specific wavelengths, depending on which bonds are present in the material. The
spectrometer measures both the wavelength and the corresponding intensity of the
absorbed radiation. A spectrum is then generated according to a mathematical method called
Fourier Transform. The wavelengths absorbed by the sample are characteristics of specific
bonds. Therefore, the main functional group can be identified qualitatively. A quantitative
information of the functional groups can be also derived from the peak intensity.

Before the analysis, the carbon film was grounded and diluted with KBr powder in order to
obtain a 5wt% concentration. Then, a disc-shaped pellet was formed by applying a 10 kton
force by means of a hydraulic press. A background spectrum was collected prior to each
analysis, on a pure KBr pellet.
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2.3. Thermogravimetric analysis

To gain insight into the membrane hydrophilicity and adsorption capacity, a
thermogravimetric analysis (TGA) was performed on powder samples.

During a TGA analysis, the weight variation of the sample is recorded during time, as
temperature and/or pressure changes, while feeding a gas. The P&ID of the setup used for
such analysis is shown in Figure 7.
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Figure 7: Setup for low pressure TGA, P&ID

The setup is composed by a quartz reactor inside an oven. The nitrogen line splits in three
different lines: the first from the top is used for the mass analyzer, the second line is used
when an inert atmosphere is required , whereas the third line is used when it is required as
a carrier for other gases. All other reactive gases are connected to a C.E.M., which is used in
case water vapor is needed. For this study, only N2 and CO2 are used.

The TGA setup was used in order to study: 1) the hydrophilicity of the membrane and 2) the
surface adsorption of COx2.

In order to study the hydrophilicity of the membrane, the carbon powder sample was
hydrated in a climate chamber at a temperature of 20 °C and a humidity of 90% for three
days. Then, 50 mg of the sample were analyzed in the TGA setup, according to the method
shown in Figure 8: the sample is heated up to 400 °C with a heating rate of 5 °C while flushing
50 mL/min of nitrogen. Since N2 is not expected to adsorb on the carbon membrane surface,
each weight variation can be attributed to the water desorption. The maximum temperature
(400 °C) was held for 1h more, in order to check for the weight stabilization.



25

T[°C]

400 - - e

2 slesmerrnmrmre T

Figure 8: TGA water desorption schematic method

In order to study the CO2 adsorption, a different procedure was adopted, whose schematic
representation is shown in Figure 9: 50 mg of the sample were heated up to 200°C with a
heating rate of 5°C while flushing 50 mL/min of nitrogen. Then, 200 mL/min of CO2 were fed
for 2h, recording the weight variation. An increase in the sample weight can be attributed to
the adsorption of COz on the carbon surface.
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Figure 9: TGA CO; adsorption schematic method

The CO2 adsorption was studied at 200 °C, which is in the middle of the temperature range
used for the permeation experiments. The COz adsorption was not studied systematically,
because of the TGA setup limitation: only atmospheric pressure analysis was possible.
Therefore, this analysis was performed only to understand if surface adsorption plays any
role in the CO2 permeation mechanism. The Hz and CO adsorption was not studied, since it is
expected that H2 won’t interact with the membrane surface, as it is a non-polar molecule, and
CO bottle was empty at the time of the experiments.



26

3. Permeation setup

The setup used to perform vapor/gas permeation experiments is represented in Figure 10.

Exhaust

Figure 10: Vapor permeation setup, P&ID

This setup can be divided in four main sections: the feed section, the reactor section, the
cooling section and the analysis section.

In the first section, the gas of interest and the vapor feed are present. In the upper section
the gases are connected to the membrane reactor and controlled via flowmeters, which were
previously calibrated. For this study, the gases of interest were N2, Hz, CO2 and CO. The liquid
stream, water or methanol, was fed via the pressurized tank showed in the bottom. To
vaporize the liquid flow, the line is connected to a Controlled Evaporator Mixer (C.E.M.) which
operates in a range of 120-180°C. In order push the desired amount of liquid to the C.E.M.
system and to pressurize the tank, a minimum nitrogen flowrate of 0.15L/min was required.
To assure that liquid do not condense in the tubes, tracers are placed along the lines and
operating at temperature between 170-220°C.

The membrane reactor consists of a stainless-steel vessel where the membrane is placed by
connecting it through the top flange. The feed enters the reactor from the bottom, while
permeate and retentate flows exit the reactor from its top part. The reactor is placed inside
an electrical oven in order to assure isothermal conditions. Two thermocouples are used to
control the temperature: one controls the bulk temperature and the second one is placed on
the membrane surface.
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After permeate and retentate exit the reactor, they pass through the cooling section for water
removal. The cooling system is provided by Lauda. The water is liquified and collected into
glass bottles, to be weighted. The gas streams are then sent to the analysis section. The
permeate gas stream is connected to a bubble flowmeter and then to vent, whereas the
retentate gas stream is connected to the p-GC to study the gas composition, when required.

4. Vapor permeation tests

Vapor permeation test were performed to study the permeation of pure water and pure
methanol. From these studies, also ideal selectivity of the system was derived. The ideal
selectivity of a membrane does not consider the interactions between the compounds, as it
is the ratio between the permeance of pure water and pure methanol systems, measured in
the same conditions.

All the tests were conducted in the temperature range 150-250°C. The methodology used for
permeation tests was the same for both water and methanol permeation test. The
pressurized tank was filled with demi-water or pure liquid methanol. The retentate and
permeate pressure was set to 4 and 1 bar, respectively, so that the pressure gradient acting
on the membrane was constantly kept to 3 bar. Before starting each experiment, the N2 flux
through the membrane was measured. This was done to assure that the membrane was at
comparable humidity condition before each vapor permeation test and that no aging had
occurred.

Then, a total flowrate of 2 Lvap/min of water was fed to the membrane reactor, whereas for
methanol permeation tests the total flowrate was 1.192 Lvap/min due to setup limitation.
Specifically, it was not possible to feed more than 120 g/h of liquid through the C.E.M., which
is less than the required amount to feed 2 L/min of methanol vapor. A minimum of N2 gas
flow was required to allow a correct operation of the C.E.M. However, the nitrogen volume
fraction was chosen as low as possible, in order to assume a negligible effect on the vapor
permeance. It is noteworthy to highlight that in both cases, the permeance was measured at
steady state conditions.

The inlet conditions for both water and methanol permeation tests are summarized in Table
1 and Table 2:

Table 1: Inlet feed composition for water permeation test

Vapor Nitrogen

Flowrate 1.850 L/min 0.150 L/min

%vol 92.5 7.5
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Table 2: Inlet feed composition for methanol permeation test

Methanol Nitrogen
Flowrate 1.042 L/min 0.150 L/min
%vol 87.5 12.5

The feed was continuously fed for 2 hours and the permeate and the retentate was then
collected and measured. It has been demonstrated that at this point, the system is in steady
state. A more detailed discussion on this can be found in Appendix B.

The permeance was computed as follow:

Pam?sd ~ At [min

Where  is the permeance of the specie, m the mass of permeate, At the experiment time
span, AP the driving force acting on the membrane, Am the estimated membrane area and
MWi; the molecular weight of the specie.

The experiments were conducted for both membranes at operating temperature of 150°C,
200°C and 250°C, which is the application range desired for DME synthesis via membrane
reactor.

After all the results were gathered, the ideal selectivity of the membrane was also calculated,
as follows:

®H,0
SMeon = . ZOH Eq. 11
e

where Smeon is the selectivity towards methanol, §¢#z0 is the water permeance and g wmeon is
the methanol permeance.

The only difference for ideal selectivity calculation is for the membrane carbonized at 700°C
for the 250°C tests. Since the experimental data available were the one at 270°C, a fitting of
the experimental data was done in order to calculate the permeance at 250°C. Detailed
procedure is explained in Appendix A. The reason why initially the tests were performed at
270°C was to investigate methanol behaviour above its critical point. However, since the
membrane sealing was leaking, a polymeric resin was used to fix it. Such resin is thermally
unstable for temperature higher than 250°C. Thus, the following experiments were
conducted at 250°C
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5. H20/Gas mixtures

To study the real selectivity of H20/Gas, equimolar mixtures of water vapor and each gas
were fed into the reactor. The total flowrate was set to 2L/min and the experiment time was
set to 2 hours. The operating conditions were the same as the previous experiments. The
gases that were studied in this section are: Hz, CO2, CO.

Table 3: Inlet feed composition

Water Nitrogen Hz or CO2 or CO
Flowrate 900 mL/min 200 mL/min 900 mL/min
%vol 45 10 45

The water was separated via condensation from both the permeate and the retentate, and
weighted after 2 hours. The permeate gas flowrate was measured with a bubble flowmeter,
while the retentate flow was sent to a pu-GC for the composition analysis. These information
were sufficient to derive all the streams flow rate and composition, by solving mole balances
on the species involved. Detailed calculations are reported in Appendix A.

Once that the permeate flowrate of the desired gas was computed, it was possible to calculate
both water and gas permeance:

D;

= — or = "<
i APppi *Am PH,0 APpLH,0*Am

50 Eq. 12

where APwmL represents the logarithmic mean pressure gradient between permeate and
retentate side. This value is different for water and gas, because it depends on the partial
pressure of the considered compound.

i i t
AP _ppOUt APy, 0—APgL 0
APy = ——(0m— or APyurm,o = — om Eq. 13
lnAPOLut In :tho
i APinO
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Knowing the permeance of both water and the desired gas, it is possible to calculate the
selectivity as a ratio of the water permeance and the desired gas permeance, similarly to Eq.
11.

6. Model description

For this study, a phenomenological membrane reactor model was used for both the direct
process and the first step of the indirect process (i.e. methanol production). The aim of these
simulations is to compare the membrane reactor performance with a conventional reactor
with no in situ water removal. The membrane properties used within the reactor model are
the ones experimentally derived for both membrane samples.

6.1. Membrane reactor simulation for DME synthesis
application

The model used for the process simulation represent a fixed bed membrane reactor
composed by two coaxial tubes: the outer tube is the reactor shell, where the catalyst bed is
inserted, and the inner tube represents the membrane. The water permeates from outer zone,
which is the reaction zone, through the inner tube and reaches the permeation zone. This
configuration is preferred due to a better mechanical stability of the membrane. A schematic
representation of the membrane reactor is depicted in Figure 11.

Feed ’ Reaction zone —— Retentate
Sweep Gas ——— Permeation zone —————— Permeate
Feed ———4— Reaction zone ——1— Retentate

Figure 11: Schematic representation of the membrane reactor

To drive the permeation, a sweep gas is circulated in cocurrent mode. The sweep gas allows
to keep the water partial pressure in the permeate side sufficiently low to assure a high
driving force for its permeation. This is also the reason why a cocurrent configuration was
chosen, as it is expected that most of the water will be produced close to the reactor inlet.
Therefore, a higher driving force is required for water removal. Nonetheless, when using a
sweep gas composition equal to the feed composition, the permeation of reactants through
the membrane is lower, leading to a reduction in the loss of reactants
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The hypotheses on which the membrane reactor model relies on are:

e Ideal plug flow;

e Steady state;

e [sothermal reactor;

e No pressure drops;

e Solid-gas phase are modeled as a single phase;

e C(Catalyst deactivation is neglected, as the operating temperature is low enough to
avoid coke formation;

e The membrane material is considered inert.

e [Forindirect process only: it is assumed that the limiting step in the indirect process is
the methanol production, therefore, only the first step is modeled and it is assumed
that 85% methanol to DME conversion can be reached in the second step with a ractor
temperature of 250°C. [37]

Mass balances are defined for each species for both the reaction and permeation zone (Eq.
14 and 15, respectively).

drR
dz

~.

= pc(1 =) X7, (vji) § (D% — Do) = JitDimo Eq. 14

arf
dz

= JimtDino Eq. 15

where Ji is the membrane flux for each species, defined as:
Ji= i (PF=P) Eq. 16

Where g; is the permeance of each component and PR and PP; its partial pressure in the
reaction or permeation zone respectively. According to the membrane flux definition in Eq.
16, it is positive when the compound permeates from the reaction to the permeation zone.

For the direct model, the kinetic model used to derive the reaction rates is the one developed
by Lu et al. [40] for a CuZnOAI203/HZSM-5 bifunctional catalyst, which follows a Langmuir-
Hinshelwood mechanism. [40], [41] The reaction rates derived from the kinetic model are
the following:

1 PH,0PcH; OH>

Pco,Pu (1— -
2 72\" Kp1 Pco,Ph,

1 3
(1+KC02PC02+KCOPCO+«/KH2PH2)

n=k Eq. 17
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Where P; is the partial pressure of each species. The kinetic, adsorption and equilibrium
constants expression are listed below:

e Kinetic constants [40]:

ky = 3545 exp (- %ﬁl“) (kg":”—s";rz) Eq. 20

k, = 7.3976 exp (- 22210) e Eq. 21

ks = 8.2894 - 10* exp (- 224210 el Eq.22
e Adsorption constants [42][49]:

Ky, = 0.249 exp (M) - Eq. 23

Kco, = 1.02-107 exp (2Z22) L Eq. 24

Ko = 7.99 1077 exp (221%) o Eq. 25

e Equilibrium constants [43] [49]:

ln(Km) = 4213/T — 5.752 - In(T) — 1.707 - 1073T + 2.682 - 107°T? + Eq. 26
—7.232-1071973 + 17.6

log(Kp‘z) =2167/T — 0.5194 - log(T) + 1.037 - 1073T — 2.331-1077T% — 1.2777 Eq.27

ln(Kp,3) = 4019/T +3.707 - In(T) — 2.783 - 1073T + 3.8- 1077T? + Eq. 28
—6.56 - 10*/T3 — 26.64

The same reactor structure and design concept was used for modeling the first step of the
indirect process for DME production. Compared to the direct model, the indirect model
considers the same species, except for DME, which is not produced in the first reactor. The
catalyst used for the kinetic study and reaction rates evaluation is Cu/Zn0/Al203. [44] The
reactions on which the kinetic model for methanol production is based are:

CO +2H2 2 CH3OH AHo =-90.7 kJ/mol  Eq. 29
CO2+H22 CO + H20 AHo =+41.2 kJ/mol Eq. 30
CO2 + 3H2 2 CH30H + H20 AHo =-49.5 kJ/mol  Eq. 31
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Consequently, the reaction rates derived from the kinetic model are:

P
3/2 CH30H
PcoPy, ————1
Kp,l PHZZ

T]_ == leCO 1 Km0 Eq 32
(1+KcoPco+Kc02Pcoz)[P§2+1—2PHZO]
K2
Hj

PcoPH,0
_ 2
Pco,PH, Kp2

r2 = k2Kco, T — Eq. 33
(1+KC0PCO+KC02PC02)[PI?[2+ 12

PH,0]
2
K%,
P P
3/2 PcH30H PH,0
PeopPy, ———— 3
Kp-3PH22

3 = k3KC02 T Eq 34

> Ky
(1+KC0PCO+KCOZPC02)[PI?]2 +T2

)
Ph,0]

2
KH2

Where P; is the partial pressure of each species. The kinetic, adsorption and equilibrium
constants expression are listed below:

e Kinetic constants [44]:

ky = 4.89-107 exp (- ) __mol Eq.35

RT (kgcats-bar)
ky =484 10" exp (- 22) W Eq. 36
ks =234 exp (- W) (kg’“?—;”bm) Eq.37
e Adsorption constants [45]:
Keo = 2161075 exp (*20) L Eq. 38
Ko, = 7.05-1077 exp (£22) — Eq. 39
TH20 = 637107 exp (X22) — Eq. 40

2
KH2

e Equilibrium constants [45]:
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5139 1
log(Kp1) =———12.621 — Eq. 41
log(Kp) = — =2~ + 2.0929 Eq. 42
3066 1
In(Kp3) ==~ —10.592 — Eq. 43

For both processes, the traditional thermodynamic limit for conventional reactor was
calculated by using ASPEN Plus (V10) by means of a RGibbs reactor. This limit was used to
compare the membrane reactor performance with the conventional reactor. The model was
also validated, as reported in Appendix D.

Lastly, conversion and yield of the compounds are calculated, considering also the trans-
membrane flux as:

in tmb
Fco,—Fco,*Fco,

. Eq. 44
in tmb
Fco,tFco,

X =

FR+FP

=L Eq. 45
L tmb
Fégz +FCTOnZ
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Chapter 4
Results and discussion

1. Characterization

1.1. Pore size distribution
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Figure 12: Pore size distribution of the carbon membrane carbonized at 600°C (a) and 700°C (b)

Figure 12a and Figure 12b show the pore size distribution of the membrane carbonized at
600°C and 700 °C, respectively. The membrane carbonized at 700°C shows a bimodal curve,
which is typical for carbon membranes. However, a different behaviour is observed for the
membrane carbonized at 600 °C, which shows three different peaks. Both the membranes
show mainly mesopores, with the membrane carbonized at lower temperature having a
mean pore size larger (42.44 nm) than the one carbonized at higher temperature (30.4 nm).
This trend is typical for carbon membranes when increasing the carbonization temperature.
When the carbon layer is treated at 700°C or higher, the amount of functional groups in the
membrane structure decreases. This decrease causes a reduction of the interplanar spacing
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between the carbon layers. Therefore a more dense and crystalline structure is obtained [18].
A smaller mean pore size generally leads to a decrease in the permeance and an increase in
the selectivity.

However, both the graphs show that the lines tend to raise both at the beginning and at the
end. The reason why the analysis is imprecise is because the desorption was not fully
completed. The last detected desorption point was at relative pressure of 0.12 for both the
samples The reason could be that the Nitrogen molecules are trapped in the carbon
micropores and due to the low kinetic energy at 77K, the molecules cannot get out from the
bottle shaped micropores.

To better evaluate the pore size distribution of the carbon membranes, it is advisable to use
CO:2 instead of liquid nitrogen. The reason being that CO2 adsorption analysis is usually
conducted at 0°C, therefore the CO2 molecules have higher kinetic energy to exit the
micropores and desorbs from the membrane.

From these results, it is possible to qualitatively conclude that the measured mean pore size
of both the membranes is in the mesopores range (50 to 2 nm). It is reasonable to think that
micropores are also present, and their distribution might even be higher than mesopores,
however it is not possible to detect them with the used apparatus.

In both cases, the transport should be surface diffusion coupled with Knudsen diffusion when
only gas are considered. When condensable vapor is considered, capillary condensation may
happen. However, in mesopores is not possible to have full condensation for this specific case.
From Figure 13, it can be seen that in order to have full condensation, a higher capillary
condensation pressure is needed in order for water to fully condensate into mesopores. This
graph is built based on the Kelvin equation (Eq.5).

40 . . . .
e 150°C |
——200°C
30 |/ ——250°C

35
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Figure 13: Description of capillary condensation dependency on mean pore radius and pressure
depicted by Kelvin's equation at different operating temperatures.
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However, as the detection of micropores and ultramicropores is limited by the equipment
used, it is not possible to correctly draw conclusion on the transport mechanisms involved.
Indeed, having a wide distribution of ultramicropores and micropores would make the
molecular sieve mechanism the major transport contribution. Nonetheless, it is possible to
suppose from what reported in Chapter 2 that this is the case.

1.2.  Functional groups
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Figure 14: FTIR results for the membrane sample CM600 (a) and for the CM700 (b). They show the
functional groups present on the carbon film after pyrolysis.

In Figure 14 the normalized results from the FTIR analysis are presented with peak
identification for each spectrum. The normalization was done by correcting the base line so
that the signal was normalized for the amount of sample. In Figure 14a, the spectrum of the
membrane carbonized at 600°C generally shows a higher density of functional groups and a
higher intensity signal. Therefore, the identification of the peaks was done on this spectrum.

Starting from the lower wavenumbers, between 1450 and 1600 cm-1, CH bending and C=C
stretching can be identified. Within 1650 and 2000 cm-! C=0 stretching signal are present,
followed by C=C=C stretching. A weak signal of C-H stretching can be seen between 2695 and
2830 cm. Lastly, between 3500 and 4000 cm-! O-H stretching peaks are present. [50]

In the membrane sample CM600, a higher number of functional groups are present,
especially OH groups, which may be responsible for the membrane hydrophilicity. The only
different trend is the C=0 peak, which is increased in the membrane carbonized at 700°C.
This may be due to a rearrangement of the membrane morphology.

Thus, when increasing the carbonization temperature, the membrane surface is subject to
changes, due to the functional groups decomposition. However, it is not possible to clearly
define which membrane sample is more hydrophilic between the two with FTIR results only.
Indeed, the increase in C=0 functional groups in Figure 14b may also affect the membrane
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sample hydrophilicity, as it is a polar functional group. Therefore, a TGA water desorption
study was also implemented to determine which sample has higher water affinity.

1.3. TGA
1.3.1. Water desorption

The TGA analysis was conducted to investigate the water desorption from a fully hydrated
membrane surface. The results are depicted in Figure 15a and Figure 15b for the membrane
carbonized at 600 °C and 700 °C, respectively.
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Figure 15: Weight loss of hydrated powder sample of the membrane sample CM600 (a) and the
CM700 (b).

By comparing the two curves, the membrane carbonized at 600°C shows a faster water
desorption with respect to the membrane carbonized at 700°C. The reason for that may rely
on the membrane pore size: as the pores are wider for the membrane carbonized at 600°C,
the water can evaporate and leave the membrane more easily at lower temperatures.
However, it may also depend on a weaker water-surface interaction compared to CM700.

Indeed, the weight loss at the equilibrium is lower for the CM600 (86%) with respect to the
CM700 (80%). This may be due to the initial amount of water that actually adsorbed on the
membrane surface. As seen in Figure 14a and Figure14b, the C=0 functional group signal
increases with increase in carbonization temperature. This group is also polar, so may play a
role in determine the membrane hydrophilicity, counterbalancing the effect of the -OH
functional groups. Moreover, the water desorbs faster in the CM600 sample, therefore, its
hydrophilic behavior should be weaker than the CM700 membrane sample.

In conclusion, the TGA results confirm that the carbon layer is hydrophilic, and water adsorbs
on the membrane surface with stronger interactions when carbonization temperature is
higher.
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1.3.2. COz adsorption

Figure 16 shows the results of the COz adsorption for the membrane carbonized at 600 °C
and 700 °C, respectively. The relevant information are present after around 60 minutes, as
before a lot of noise, due to equipment instability and sensitivity, is present.

It is clear that CO2 is adsorbed on the carbon layer of both the membranes, since the sample
weight increases over time when exposed to a flow of COz. This proves that the carbon
dioxide interacts with the functional groups of the carbon film. Moreover, it is possible to see
that the CM700 has a slightly stronger interaction compared to the CM600, which may
depend on the C=0 polarity. Thus, a surface-diffusion type of mechanism is expected to play
a role in the CO2z permeation through the carbon membrane. When CO2 adsorbs on the
membrane surface, the actual pore size is reduced. Therefore, larger molecules, as CO, should
permeate less easily through the pores.
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Figure 16: CO; adsorbed on the sample surface over time for CM600 (a) and CM700 (b)

2. Water permeation

The aim of this set of experiments is to understand how the membrane permeance is
influenced by the operating temperature, the carbonization temperature and which
transport mechanism prevails during the permeation. The prevailing transport mechanism
is difficult to quantitively estimate. However, it is possible to make qualitative hypothesis
from the experimental data gathered at the end of this stage.

Figure 17 shows the water permeance as a function of the operating temperature for the
membranes carbonized at 600 °C and 700 °C. Values are also reported in Table 4. The first
observation is that both the membranes show comparable water permeance values, and
their difference is within the experimental error. Water permeance is clearly decreasing
when increasing temperature, indicating that an exothermic transport mechanism is
predominant. Such trend can be justified by both the capillary condensation phenomenon
and the surface diffusion transport mechanism.
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Figure 17: Water vapor permeance of CM600 and CM700 membrane samples. The permeance plotted
is the average value of the results obtained by each test. The error bar shows the standard deviation
from the avegare value.

Table 4: Water vapor permeance of CM600 and CM700 membrane samples.

Membrane Permeance at T=150°C Permeance at T= 200°C Permeance at T=250°C

sample [mol/Pa/m?2/s] [mol/Pa/m?2/s] [mol/Pa/m?/s]
CM700 5.07-107+5.23-10-8 3.87-107+ 1.63-10-8 291107+ 7.78-10°
CM600 4811070 4.10-107+ 3.25-10-8 291107+ 7.78-10°

The similar permeance is given by a counterbalance of two different effects. From BET results,
it is known that the membrane at higher carbonization temperature has smaller pores.
Therefore, the permeance should decrease with increase in carbonization temperature.
However, since capillary condensation is also related to the pore radius by the Kelvin’s
equation (Eg. 5), this can affect the water permeance. Indeed, a decrease of the pore size leads
to a decrease in saturation pressure of water, which can condense more easily in the smaller
pores. Moreover, this effect is enhanced by the higher hydrophilic behavior of the CM700
membrane, which overall increase the water flux through the membrane.

Thus, two mechanisms are controlling the water permeance: capillary condensation, which
mainly depends on pore size distribution, and surface diffusion on functional groups. The
combination of these two effects leads to a compensation, which results in similar
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permeances. Water permeance is decreasing when increasing the operating temperature, for
both the membranes. This trend is expected when condensation plays a role in the water
permeation mechanism. Water is fed in the membrane reactor as superheated vapor (at 4
bar, water boiling point is 143.63°C). As soon as water enters the pores, condensation
temperature increases (see Kelvin’ s equation) and the permeation is enhanced. Therefore,
it is reasonable to say that the lowest the operating temperature, the closest to the
condensation the vapor is, the easiest is for water to condensate when entering the pores.
Thus, the amount of liquid within the membrane should be higher, as the water flux through
the membrane and, therefore, the permeance.

This behavior is also confirmed by the analysis of the activation energy of the permeation,
which correlate the permeation as a function of the temperature. This relationship is shown
in the In(P) vs 1/T graph in Figure 18.
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Figure 18: Activation energy of permeation for both membrane samples. The fitting of the data point
is made by linear regression. Details of the calculation are reported in Appendix C.

Assuming that the permeance follows an Arrhenius like relationship, then it can be
correlated to the activation energy via the following equation:

o = poexp (—22) Eq. 46

where  is the permeance, o is the permeance at 1/T=0, Eq the activation energy, R the ideal
gas constant and T the operating temperature. The activation energy can be expressed as the
product of diffusion and adsorption energy, resulting in Eq being the sum of the diffusion
energy and the sorption energy. The diffusion energy is usually positive, whereas the
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sorption energy may be negative. [46] When the adsorption energy overcomes the diffusion
one, then the overall activation energy of the permeation become negative. Thus, the
permeance decreases with operating temperature.

Table 5: Activation energy of permeation and g, values for the CM600 and CM700 membranes

Membrane sample $oat1/T=0 Activation Energy
[mol/Pa/m?/s] [J/mol]

CM700 2.828-10-8 -10193.79

CM600 3.746-10-8 -9102.17

When carbon membranes are compared to zeolites, the water permeance in carbon
membranes is higher than the minimum value reported by Diban et al. [20], which is based
on literature review of zeolite membranes performances. Thus, carbon membranes show
competitive water permeance and, in some cases, can perform better than zeolite
membranes, becoming a promising alternative.

3. Methanol permeation

Methanol permeation experiments were performed in order to investigate the membrane
perm-selectivity between water and methanol. This parameter is a key factor in the
membrane selection for the DME synthesis process. If the membrane shows low methanol
permeance (i.e., high water to methanol selectivity), it is a suitable candidate for the direct
route application, otherwise the indirect route should be considered.

Methanol permeance was measured at the same operating conditions of the water vapor
permeation test for both the membranes. The results are presented in Figure 19:
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Figure 19: Methanol mean permeance of CM700 and CM600 membrane samples. The permeance

plotted is the mean value of the results obtained from each test. The error bar shows the standard
deviation from the mean value.

Table 6: Experimental evaluation of methanol mean permeance at different operating temperatures.

Membrane Permeance at T=150°C Permeance at T=200°C Permeance at T=250°C

sample [mol/Pa/m?2/s] [mol/Pa/m?2/s] [mol/Pa/m?/s]
CM700 8.93-10-8+ 3.39-10-° 7.00-10-8+£3.39-10° 6.33-10-8+3.39-10°
CM600 1.04-10-7+3.54-10-° 9.41-10-8+£3.39-10-° 8.20-10-8x0

Similarly to water permeation tests, the methanol permeance decreases when increasing
temperature, suggesting that surface-diffusion is affecting also the methanol flux through the
membrane. However, there is an appreciable difference between the permeances of the two
membranes. This is due to the weaker adsorption of methanol on the membrane surface and
the absence of capillary condensation. Since methanol molecules are less polar than water
molecule, it is likely that their adsorption on the membrane surface is weaker. Moreover,
since the operating conditions are far from the saturation conditions of methanol, capillary
condensation is unlikely to happen. Therefore, methanol permeation depends both on the
pore size of the membrane, as there is no “pore blocking” effect due to capillary condensation,
and on the surface diffusion of methanol through the membrane. Indeed, the contribution of
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the surface-diffusion mechanism is confirmed by the tendency of the permeation to decrease
with increase in operating temperature.

Furthermore, in this case the influence on the permeance of smaller pore size is relevant, as
MeOH only weakly interact with the membrane surface. This may enforce the discussion on
the water permeance results reported in the previous section.

Another aspect that was investigated was the effect of methanol critical temperature. Indeed,
the critical temperature of methanol is 240.2°C, which is in the experimental range of the
operating temperature used in this study. However, no relevant difference in the permeance
behavior was observed when the membrane operates above the critical temperature. It is
possible that more appreciable difference may be observed if the operating temperature is
far enough from the critical one.

4. Water/Methanol ideal perm-
selectivity

Although the membrane carbonized at 600°C and 700°C show comparable water permeance,
the difference in methanol permeance will affect their ideal perm-selectivity. The ideal perm-
selectivity for this system is defined as the ratio of the water permeance and the methanol
permeance, when they are derived in pure system:

#H,0
SMeOH == on ZOH Eq 47
e

where the permeance used are the ones evaluated experimentally in Section 2 and Section 3.

The ideal case would be a membrane with high water permeance and high selectivity, so that
the methanol loss would be kept at minimum. However, a well-established trend shows that
selectivity decreases when permeance increases and vice versa [47],[48]. These membranes
show good water/methanol perm-selectivity, considering that the two molecules show
similar behavior (i.e., polarity, possibility to condense within the pores). Moreover, the
difference in perm-selectivity between the two membranes is relatively small, as can be seen
in Figure 20 .
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Figure 20: 1deal selectivity vapor/methanol system of the membrane samples. The higher selectivity
of the 405-N is expected as it has a lower methanol permeance.

Table 7: 1deal selectivity values evaluated from experimental data.

Membrane sample Smeon [T=150°C] Sueon [T=200°C] Smeon [T=250°C]
CM700 5.678 5.529 4.598
CM600 4.625 4.357 3.549

The ideal perm-selectivity of both membranes are higher compared to zeolite membranes
found in literature, which have a maximum of 2.8, showing that carbon membranes have
better separation properties. [20] Thus, as higher selectivity is needed, carbon membranes
might be a better choice for direct process application. The ideal selectivity of the membrane
carbonized at 700°C is slightly higher compared to the 600°C. This is in line with the
methanol permeation results, which adsorbs less on the membrane carbonized at higher
temperature.

A drawback of ideal selectivity, however, is that it does not consider the interaction between
water and methanol molecules when mixed. A more precise analysis would consider the real
selectivity of the mixture. However, because of some setup limitations, it was not possible to
test the membranes in these conditions.
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In conclusion, the membrane CM700 should be a more suitable choice for DME production.
This assumption will be confirmed using the phenomenological membrane reactor model
described in the previous Chapter.

5. Real selectivity for H20/Gas
mixtures

Lastly, real selectivity for water/gas mixtures were evaluated. Real selectivity in this case is
preferred over ideal selectivity for two reason. The first being that real selectivity of a mixture
considers the chemical interaction between molecules, other than the interaction between
the single species and the membrane. The second reason is because of the hydrophilicity of
carbon membranes. As already mentioned in Chapter 1, carbon membranes show
hydrophilic behavior that is often considered a drawback in gas separation. Indeed, when
water is adsorbed on the membrane surface, a change of gas diffusivity through the
membrane occurs. Moreover, when capillary condensation occurs, the actual membrane pore
size is smaller, and the gases permeation is inhibited. In this study, this “pore-blocking” effect
is desired, since the ideal scenario is when water, alone, permeates through the membrane,
leaving the gases available for further reaction on the catalytic bed.

Figure 21 shows the real selectivity for H20/H2, H20/CO2 and H20/CO derived from
equimolar mixture.
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Figure 21: Real selectivity of H,0/Hz, H,0/C0O2 and H,0/CO mixtures for CM700 (a) and CM600 (b).

The water/gas separation depends on several parameters, which are related to the
predominant transport mechanism. When molecular sieving or Knudsen diffusion is
predominant, the separation depends on the kinetic diameter of the molecules. Moreover; if
water condenses in the pores, two phenomena must be considered: 1) gas molecules can
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solubilize in the condensed water and the selectivity depends on the solubility of the gas in
water and 2) the pore-blocking effect reduces the pore size and the selectivity depends again
on the gas molecule size. In Table 8 the kinetic diameter and the solubility of the molecules
of interest are summarized.

Table 8: Kinetic diameter and solubility in water of hydrogen, carbon dioxide and carbon monoxide

Kinetic diameter [A] Solubility at 20°C [ggas/100gH:20]
H20 2.65 -
Hz 2.89 0.00016
CO2 3.3 0.169
Co 3.76 0.0028

As hydrogen is the less soluble in water, it is believed that the contribution of its solubility to
the permeation is negligible. Therefore, the highest selectivity of Hz at the lowest operating
temperature is due to the “pore-blocking” effect of water. As the effect of capillary
condensation decreases when increasing temperature, hydrogen can pass through the pores
easily, due to a lower pore-blocking effect.

The hydrogen selectivity is higher for the membrane at lower carbonization temperature,
although the pores are wider. This might be due to a higher capillary condensation, so it is
likely that its clogging effect is more prominent compared to the other sample. Indeed, water
permeance is higher for the membrane carbonized at 600°C, whereas the hydrogen
permeance is comparable between the two samples. Therefore, hydrogen permeates less
easily in CM600 rather than CM700. Details about the experimental values of all the gas and
water permeances are reported in Appendix A, Section 4.

The water permeance slightly decreases with increasing temperature, suggesting that
capillary condensation still plays an important role in the permeation mechanism. In Figure
22,the water permeance in single vapor experiment is compared to the water permeance for
vapor/gas mixtures!. It is possible to notice that the water permeance values decrease
compared to single vapor system. This is due to the decrease of the partial pressure of water
in the mixture system. Moreover, the decrease of permeance with temperature for water in
the mixture is less predominant than in single system. This suggest that, although capillary

1 This is just one example, considering H20/CO2 mixture. The trend is the same for all the mixtures and this can be further
confirmed in Appendix A, Section 4
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condensation still plays a role, it is not as predominant as it was for single vapor permeance
experiments, which also depends on the decrease in partial pressure.
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Figure 22: water permeance comparison between single vapor permeation test and vapor/gas

mixture for CM700 (a) and CM600 (b)

The gas permeance, instead, increase with increasing operating temperature for Hz and CO,
which is a typical trend for Knudsen diffusion and molecular sieving mechanisms. CO2

behaviour, however, is different, as it is depicted in Figure 23.
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Figure 23: CO, permeance comparison between single gas permeation test and vapor/gas mixture

for CM700 (a) and CM600 (b)

The permeance decreases very slightly with increasing operating temperature, which might
be the reason of a rather constant H20/CO2 selectivity. This is true for both membrane
samples. Furthermore, it is possible to notice that for CM600, the permeance dependency
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from temperature is different in single gas tests. This behaviour suggests a change in the main
transport mechanism: it is likely that surface diffusion is the main transport in mixture.
Moreover, the CO2 permeance is also affected by its solubility in water. Thus, capillary
condensation is also playing a role, as the higher amount of water in the pores, the higher the
amount of COz that solubilizes in it, resulting in a higher CO2 flux through the membrane.

This is not the only different trend observed for CO2. At lower operating temperature, when
capillary condensation effect is more prominent, H20/CO: selectivity should be the lowest
compared to H20/CO and H20/H: selectivity, as COz is the most soluble molecule among the
gases that have been studied. This is true for CM700 at 150°C operating temperature, but not
always true when temperature increases. Furthermore, for CM600, the selectivity of COz is
comparable or higher than CO selectivity. Since COz is smaller than CO, more soluble in water
and more likely to be easily adsorbed on the membrane surface, a lower H20/CO2 selectivity
than CO would be expected.

To better understand the real selectivity trends for both membranes, especially H20/COz,
ideal selectivities were calculated. However, as the CO bottle was empty at the time the ideal
H20/CO selectivity needed to be measured for the membrane at 700°C carbonization
temperature, these data are missing. Nonetheless, it is likely that the trend will be similar to
the other sample, as all the other data are comparable between each other. The results are
presented in Figure 24:
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Figure 24: ideal selectivity for water/hydrogen, water/carbon dioxide and water/carbon monoxide
(only for Tearb=600°C).

As it is possible to notice, the highest ideal selectivity is given for CO, which is the larger
molecule in the system. As the ideal selectivity does not consider the interaction of the
membrane with water, the selectivity towards hydrogen is the lowest.

However, these tests do not explain the H20/CO2 selectivity trends when dealing with binary
mixtures. One hypothesis that would explain this behaviour is that part of CO:z of the system
was loss during water condensation, due to the high solubility of the gas in water. Indeed, it
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was observed that bubbles were still present in liquid water after condensation (Figure 25),
therefore the gas concentration sent to the GC was likely to be less than the one that actually
permeated through the membrane. To confirm this hypothesis, a water permeate sample and
water retentate sample were analyzed via titration. The samples were collected after a
H20/CO2 permeation test on CM700 membrane at 150°C. Phenolphthalein was used as
indicator and a 1M solution of sodium hydroxide was used as titrant. The amount of CO2
found in the permeate sample was approximatively 37.5 mg/L, whereas in the retentate
water sample, the CO2 concentration was over 100 mg/L. This titration confirms the
hypothesis that CO2 does not completely desorbs from the permeated and retained water
during the cooling procedure.

The selectivity was then corrected, with new values obtained being lower than the one
previously calculated. This was a rather qualitative analysis and conducted for 150°C only on
one membrane sample, in order to confirm that there is an actual CO2 loss. Nonetheless, it
can be concluded that the gas measurements of permeated gas flow and retentate
composition are lower than the actual values. To solve this problem, a GC which is capable to
feed liquid and gas should be used.

Figure 25: The picture on the left shows the result of the titration on the water permeate sample.
The pink color shows that CO; is present in the sample. The picture on the right shows the gas
bubble present in the permeate when the water is collected at room temperature.

Lastly, CO selectivity greatly decreases in binary mixture experiments. It was not possible to
understand this behaviour, as it should be the molecule that can be retained the most, as it is
less soluble than COz and also the biggest molecule in the system.
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6. Model prediction

The values of water permeance and selectivity determined experimentally, were
implemented in the membrane reactor model, to assess the feasibility of the integration of a
carbon membrane in a membrane reactor for the CO2 hydrogenation to dimethyl ether. The
main purpose is to show that the membrane reactor overcomes the thermodynamic
limitation obtained with a conventional reactor.

The reactor geometry and operating conditions are the same for both the direct and indirect
process and they are reported in Table 9:

Table 9: Summary of the most relevant reactor parameters used in the model.

Parameter Units Value
Operating temperature °C 200
Operating pressure bar 40
H2/COz2 feed ratio (direct) mol/mol 3.5
H2/CO:2 feed ratio (indirect) mol/mol 3.0
Feed mol/s 0.0015
Catalyst bed density (direct) kg/m3 1189.2
Catalyst bed density kg/m3 447.46
(indirect)

Reactor length m 1
Reactor diameter m 0.0198

6.1. Direct route

First, real selectivity for all the gases are used whereas for water/methanol, ideal selectivity
is the only possible choice. From the simulation, the predictions reported in Figure 26
(CM600) and Figure 27 (CM700) are obtained:
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Figure 26: CO; conversion, DME yield and water removal fraction of a membrane reactor using the
carbon membrane carbonized at 600°C (real selectivity for all gases).
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Figure 27: CO; conversion, DME yield and water removal fraction of a membrane reactor using the
carbon membrane carbonized at 700°C (real selectivity for all gases).

As it is possible to notice when comparing Figure 26 and Figure 27, for both membrane
reactors the fraction of water removed from the reaction zone approaches unity. This means
that the water permeance obtained by these membranes is high enough to assure an almost
dry reaction zone, with no excess water as byproduct. This removal leads, following Le
Chatelier’s principle, to an increase in carbon dioxide conversion, which overcomes the
thermodynamic limitation of conventional reactors in both cases. In case of the membrane
carbonized at lower temperature, the CO2 conversion is slightly higher compared to the other
sample. This difference depends on the real selectivity towards COz. Indeed, at Tcarb=700°C,
COz selectivity is slightly lower, therefore a higher amount of reactant is lost in the
permeation zone. This is well depicted in the figure below, where the CO2 fraction in the
permeate zone is plotted for both membrane samples.
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Figure 28: CO; fraction in the permeate zone for both membrane samples.

The DME yield is higher in the membrane reactor when implementing the membrane
carbonized at higher temperature. The reason being that the ideal selectivity towards
methanol is higher compared to the other sample, therefore more methanol can be further
converted to DME. In both cases, the yield is above the thermodynamic limitation, although
only slightly. The reason why the DME yield is still low depends on two different factors: first,
the methanol selectivity is still low for this application, which means that methanol is lost in
the permeation zone.

%10 %107

——MeOH permeate ——MeOH permeate
——MeOH retentate 4y ~———DME retentate

15}

w

F [mol/s]
F [mol/s]
[\%]

0.5} 4 1t

0 312 014 3:5 0:8 1 0 0.2 0.4 m] 0.6 0.8 1
zZ|m
(@) z[ml (b)

Figure 29: Methanol flowrate profiles in the permeation and in the reactor zone (a) and comparison
between the methanol flowrate lost in the permeation zone and the produced DME flowrate in the
reaction zone (b).

In Figure 29a the methanol flowrate in both permeation and reaction zone are reported. Here
it is possible to easily notice that methanol significatively permeates along the reactor. In
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Figure29b reports the methanol flowrate in the permeate zone compared to the product
flowrate. This shows how much methanol could not be converted further to DME due to low
selectivity towards methanol. However, as already highlighted, the selectivity obtained for
both membranes are quite high compared to literature. Nonetheless, methanol loss accounts
for low DME yield.

The second reason for low DME yield is the very low selectivity to CO. Since CO is a product
of the RWGS reaction, which is an equilibrium reaction, its permeation through the
membrane shifts the equilibrium towards the products. Thus, CO2 tends to react more
towards CO production, lowering down methanol yield and, therefore, DME yield.

The combination of methanol loss through the membrane and CO production reduce the
overall DME yield. Both contributions are shown in Figure 30, where it is possible to see how
higher H20/CO selectivity in CM700 results in a decrease in CO yield, compared to CM600.
Indeed, for the membrane CM600, CO and MeOH yield increase, as their permeation
enhances their production in the reaction zone. For this sample, both H20/MeOH and
H20/CO selectivity are lower compared to CM700.
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Figure 30: Methanol yield and CO yield for the membrane sample carbonized at T=600°C (a) and
T=700°C (b)

To further confirm the role of H20/CO selectivity in the DME yield decrease, the ideal
selectivity towards CO was used for the next simulation, while all the others were kept the
same. The results obtained from the simulation are the one depicted in Figure 31 and Figure
32:
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Figure 31: DME yield of a membrane reactor using the carbon membrane carbonized at 600°C (a) and
carbonized at 700°C (b).
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Figure 32: MeOH and CO yield of a membrane reactor using the carbon membrane carbonized at
600°C (a) and 700°C (b).

Compared to the simulation in which CO real selectivity is used, the main noticeable
difference is the increase in DME yield. Indeed, the overall performance is improved.
Moreover, CO yield decreased compared to the previous case. Thus, these results confirm as
CO selectivity plays an important role in DME yield, as all selectivity used for this run were
the same used for the previous simulations.

From the comparison between the two membranes, the membrane carbonized at 700°C
seems to have the best performance in terms of DME yield. This is mainly due to a higher
water/methanol selectivity, which leads to lower methanol yield, and the higher water/CO
selectivity in both the real case and, likely, in the ideal case. Therefore, this membrane should
be preferred. However, the methanol yield is still high, thus the water/methanol selectivity
should be higher in order to avoid methanol loss in the permeate.
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6.2.

As for the previous section, the real selectivity were firstly used in the reactor model to
predict the reactor performance. In order to compare both models, the same geometry,
number of membranes and inlet flowrate were used. In this way, the residence time of both
reactors is kept the same.
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Figure 33: CO; conversion, MeOH yield and water removal fraction of a membrane reactor using the
carbon membrane carbonized at 600°C (real selectivity for all gases).
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Figure 34: CO; conversion, MeOH yield and water removal fraction of a membrane reactor using the
carbon membrane carbonized at 700°C (real selectivity for all gases).

From Figure 33 and Figure 34 the first thing to notice is that the residence time is not long
enough to reach the steady state. Therefore, a lower flowrate or a longer reactor should be
used for comparison. The higher residence time depends on a slower reaction rate compared
to the direct process, where MeOH production is boosted by its conversion into DME.
Moreover, it is possible to see that the two membranes behave almost the same, which makes
sense as the membranes have comparable water permeance. In the methanol yield
calculation, also the methanol present in the permeation zone is considered, as it can be
separated from the water permeate in downstream treatment and fed into the second reactor
to produce DME.
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Another difference is the slight increase in COz conversion in the membrane sample with
lower carbonization temperature. This is mainly due to the lower CO selectivity. As CO is
consumed to produce methanol but it is also produced from reverse water gas shift, lower
selectivity boosts the CO production in the RWGS reaction and then it can be converted in
methanol.

After this run, the flowrate was lowered down to reach steady state. It was successfully
reached for the membrane carbonized at 700°C, which is the preferred membrane sample.

The results of the simulation are shown in Figure 35:
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Figure 35: CO; conversion, MeOH yield and water removal fraction of a membrane reactor using the
carbon membrane carbonized at 700°C (steady state reached).

The flowrate had to be lowered from 0.0015 m/s to 0.000015 m/s to reach steady state.
Considering the steady state for CM700, the methanol yield is close to 80%. However, not all
the methanol produced will be converted into DME. As previously assumed (Chapter 3,
Section 6.1), only 85% of methanol will be converted into DME. Thus, the DME yield would
be around 68% at maximum, which is slightly higher compared to the yield obtained with
the direct synthesis model. Nonetheless, this slight increase comes with higher capital costs:
the reactor needed to reach the same productivity has to be larger, as the residence time is
higher in the indirect route for the first step. Moreover, a second reactor is required, with a
methanol recovery stage in between. This increase in capital cost may not justify the 10%
yield increase compared to the direct synthesis, which has also a larger productivity, as the
residence time is shorter.
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Chapter 5
Conclusions

The aim of this project was to assess the feasibility of the integration of carbon membranes
in a packed bed reactor for DME synthesis from COz and H2. Since carbon membrane
properties are very sensitive to their synthesis conditions, their performances can vary
depending on different parameters. One of the main parameters that can affect membrane
performance is the carbonization temperature. Thus, in this project, the effect of
carbonization temperature on two membrane samples was assessed.

What has been found is that increasing the carbonization temperature from 600°C to 700°C
leads to a shrink in the pore size and a change in the amount and types of functional groups
on the carbon layer. The smaller pore size leaded to a decrease in the permeation fluxes and
increase in the selectivity as a general trend. The presence of different functional group with
increasing carbonization temperature leaded to a more hydrophilic membrane, which lead
to a comparable water permeation flux between CM600 and CM700 membrane samples.

In case of pure water vapor permeation tests, however, the overall permeance was
comparable between the two membranes. The reason being that the main phenomenon
which drives water permeation is capillary condensation. Capillary condensation is driven
by both pressure changes, depending on the pore size, and membrane hydrophilicity. The
similar permeance in the two samples suggested that this phenomenon is happening at
comparable rate. The reason being that the two aforementioned effects are likely
compensating for each other,; leading to similar results.

The difference in the pore size and in the membrane affinity to water affects the permeation
and selectivity of methanol and binary mixtures the most. Especially when dealing with
methanol, a higher carbonization temperature leaded to a higher methanol selectivity. This
higher selectivity is desired if the membrane reactor will be used for direct DME synthesis
processes.

The experimental results were then implemented in an isothermal 1D-reactor model to
assess the performance of a packed bed membrane reactor. The results obtained were then
compared to the thermodynamic limit of a conventional packed bed reactor, operating at the
same conditions. The results showed that the implementation of a carbon membrane for the
direct process might be more beneficial than for the indirect process, as it has shorter
residence time, which leads to a capital cost reduction. Moreover, the obtainable DME yield
is only maximum 10% lower when it is produced via direct route and depends mainly on
methanol loss, which can be overcame by increasing the selectivity towards methanol.
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Both the membranes were capable to overcome the thermodynamic limitation for the DME
yield when real selectivity for all gases were used.

Thus, carbon membranes are a promising candidate for industrial application, as far as the
H20/CO selectivity is high enough. Specifically, the membrane samples used in this project
have shown very low H20/CO and H20/CO: selectivity, which is not desirable for industrial
application. Nonetheless, the H20/MeOH selectivity was high enough to allow their use in
direct process application. Moreover, the permeation of these components could be also
avoided by feeding them through the sweep gas, in order to control their driving force.
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Outlook

In order to improve the findings of this project, a more detailed analysis on the pore size
distribution of the membrane should be conducted. It is likely that using CO2 adsorption
rather than nitrogen adsorption method will highlight smaller pores that were not visible
with the used equipment. Moreover, the CO ideal selectivity for the membrane sample
carbonized at 700°C should be measured, to confirm that it is indeed higher than the one of
the other sample.

The studies on binary mixtures should be repeated. Indeed, CO results are likely to suffer
from experimental error, most likely due to wrong GC calibration. Moreover, effort should be
made to test binary mixtures in adequate setup, due to CO2z loss in water during condensation.
This problem can be solved by having an analyzer capable to handle both liquid and gas
simultaneously.

As regards to the model, the first improvement should be to verify that choosing a different
composition of sweep gas, including MeOH and CO, may improve the reactor performance
even at low selectivity. Moreover, energy balances and pressure drops should be added to the
indirect model as it has been done for the direct model from the model developer.

Lastly, more membranes should be tested at a wider carbonization temperature range, in a
wider operating temperature range, to fully understand the effects that this parameter has
on the membrane performances. Two samples are not enough to draw precise conclusions.
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Appendix A: permeation tests

1. Water permeation

CM700 150°C 200°C 250°C

Test 1 4.70-107 3.99-107 2.85-107
Test 2 5.44-107 3.76:107 2.96-107
Mean Permeance 5.07-107 3.87-107 2.91-107
CM600 150°C 200°C 250°C

Test 1 4.81-107 3.87-107 2.85-107
Test 2 4.81-107 4.33-107 2.96-107
Mean Permeance 4.81-107 4.10-107 2.91-107

2. Methanol permeation

CM700 150°C 200°C 270°C

Test 1 9.17-10°8 6.76:108 6.27-108
Test 2 8.69-108 7.24-108 5.79-108
Mean Permeance 8.93-108 7.00-10-8 6.03-10-8

To calculate the mean permeance at 250°C, the trendline equation is used:

y =-2.35.10-10. 250+1.22:107
=
o S 00E07 y = 2E-09x+8E.07 y:63310'8
£ R? = 0.9964
& 1.00E-07
=
2 ® MeOH
< 3.00€-07
g H20
] i a
E 2.00E-07 y=a3seiox+i22607 7 tinear (MeoH)
& R? = 9.20E-01 Linear (H20)
g 1.00E-07 [ T TR Py
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CM600 150°C 200°C 250°C
Test 1 1.06-107 9.65-108 8.20-10-8
Test 2 1.01-107 9.17-108 8.20-10-8
Mean Permeance 1.04-107 9.41-108 8.20-10-8

3. Ideal Selectivity
H20/MeOH S [T=150°C] S [T=200°C] S [T=250°C]
CM700 5.678 5.529 4.598
CM600 4.625 4.357 3.549
CO: P [T=150°C] P [T=200°C] P [T=250°C]
CM700 4.64-10-8 5.57-108 4.31-108
CM600 6.79-10-8 7.75-108 7.8-10-8
H20/CO2 S [T=150°C] S [T=200°C] S [T=250°C]
CM700 10.93 6.95 6.75
CM600 7.09 5.29 3.70
H2 P [T=150°C] P [T=200°C] P [T=250°C]
CM700 1.30-107 1.11-107 1.24-107
CM600 1.87-107 1.94-107 2.01-107
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H20/Hz S[T=150°C] S [T=200°C] S [T=250°C]
CM700 3.90 3.49 2.35

CM600 2.57 2.11 1.45

Cco P [T=150°C] P [T=200°C] P [T=250°C]
CM700 - - -

CM600 1.89-10-8 3.02-108 4.26-10-8
H20/CO S [T=150°C] S [T=200°C] S [T=250°C]
CM700 - - -

CM600 25.45 13.58 6.83

4. Real Selectivity

Due to setup limitation, it was not possible to evaluate the permeate gas composition directly.
The known data were:

¢ Inlet feed flowrate and composition
e Retentate gas composition
e Permeate gas flowrate.

To evaluate the real selectivity of the mixture, the permeate gas composition is needed. This
was analytically evaluated. First, an overall balance on the gas flowrates was written, as:

F _ xP R _ . P P R R
P =P + ;] =y * Py, TV * Py, Eq. 48
The unknown in this balance, however, are two: the permeate gas fraction and the cumulative

retentate flowrate. Therefore, a second balance on the overall gas and nitrogen flowrates was
computed:

F F _—_ pP R
¢i + (DNZ - ¢N2+i + (I)N2+i Eq 49

From the second balance, it is possible to calculate the overall gas retentate flowrate, thus,
the permeate gas fraction is expressed as:



F R R
Qi —Yi *PN,+i
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ygAS = P Eq. 50
Np+i

CM600 CO2 150°C 200°C 250°C
Test 1 CO2 4.646-10-8 4.306-10-8 4.104-10-8
Test 1 H20 1.257-107 1.124-107 1.021-107
Test 2 CO2 4.631-10-8 4.397-10-8 4.157-10-8
Test 2 H20 1.193-107 1.04-107 1.021-107
Selectivity 2.64 2.49 2.47
CM600 Hz 150°C 200°C 250°C
Test 1 Hz 4.155-10-8 5.003-10-8 5.724-10-8
Test 1 H20 1.595-107 1.286-107 9.636-10-8
Test 2 Hz 4.054-10-8 5.333-108 4.863-10-8
Test 2 H20 1.492-107 1.281-107 1.056-1077
Selectivity 3.76 2.49 1.93
CM600 CO 150°C 200°C 250°C
Test 1 CO 6.536-10-8 9.752-10-8 9.172-10-8
Test 1 H20 1.140-107 8.905-10-8 8.342-108
Test 2 CO 6.475-10-8 9.604-10-8 8.953-10-8
Test 2 H20 1.233-107 8.811-108 8.934-10-8
Selectivity 1.82 0.92 0.95
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CM700 CO2 150°C 200°C 250°C
Test 1 CO2 4.997-10-8 4.843-10-8 4.345-10-8
Test 1 H20 1.190-10-7 1.031-107 8.771-10-8
Test 2 CO2 4.814-10-8 4.899-10-8 4.378-10-8
Test 2 H20 1.172-107 1.031-107 8.499-10-8
Selectivity 2.41 2.12 1.98
CM700 Hz 150°C 200°C 250°C
Test 1 Hz 6.119-108 5.242-10-8 6.054-10-8
Test 1 H20 9.462-10-8 1.092-107 9.408-10-8
Test 2 Hz 4.173-10-8 5.216-108 6.119-108
Test 2 H20 1.285-107 1.065-107 9.462-10-8
Selectivity 2.95 2.06 1.55
CM700 CO 150°C 200°C 250°C
Test 1 CO 3.896-108 4.181-108 4.124-10-8
Test 1 H20 1.078:107 8.885-10-8 8.224-108
Test 2 CO 3.951-108 4.138-10°8 4.107-10-8
Test 2 H20 1.029-107 8.782-10-8 7.629-108
Selectivity 2.69 212 1.93
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Appendix B: steady state in vapor
permeation tests

In vapor permeation tests, the time chosen for each experiment was of 2h. Within this
timeframe it has been proven that the system is in steady state. With the previous setup in
use (liquid water was fed with high pressure pump, instead that with CEM), it was possible
to continuously measure the amount of water that was permeating over time. The
measurements were taken every 2 minutes. These data points were then plotted vs time, as
in Fig. 1:
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Fig. 1: permeated water weight vs time at 150°C. This graph is taken as an example for the steady
state determination.

At the beginning of the experiment, the weight increment is unstable and very low. After a
certain time-span, the increment starts to increase over time. Moreover, it is constant
within the interval between each measurement. This is represented in the graph in Fig. 1,
where the initial curve tends to approximate a steady state line. By doing the data fitting, it
is possible to find the intercept with the x-axis. The x-value where the water weight is zero,
it is what is called time-lag.

The time-lag is defined as the time necessary to the system to reach approximatively steady
state. Usually, the error introduced by the unsteady state prior to the system time-lag is
negligible when the experimental total time is three times the time-lag or more. In this case,
the highest time-lag observed was around 15 minutes at 150°C. Therefore, the choice to
have a 2h long experiment assures both the system in steady state and the negligible error
of unsteady state system during the calculations.
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Appendix C: activation energy
calculation for membrane permeation

When dealing with solution-diffusion mechanism driven by a difference in partial pressure,
the permeation can be defined as:

@ =DS

where D is the diffusivity coefficient and S the solubility coefficient. The temperature
dependency of both diffusivity and solubility coefficients can be expressed as an Arrhenius
type relationship, as:

Ep
D = Do exp (‘ ﬁ)

AH
$ =S exp (‘ ﬁ)

Therefore, the permeation can be expressed as:
_ ( E a)

where Ea is the activation energy of the permeation. This energy is given by the sum of both
energy contributions, Ep and AH. g, is equal to Do*So.[46]
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Appendix D: indirect model validation
from Portha et al. [44]

In their study, Portha et al. [44] also included experimental section to validate the model.
These experimental data points are also used for this validation. It is possible to notice that
some deviation is present, which is the same deviation obtained from the authors of the

study.
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As it is possible to see, the Methanol flowrate has the highest deviation when temperature
is increased. However, the model stands for the operating temperature of this study, which

is 200°C.
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