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Summary 
Hydrogen has an important role to play in the efforts to reduce anthropogenic 

GHG emissions. Nowadays, hydrogen is mainly used in chemical and industrial 

processes. The largest part of this hydrogen is produced from fossil fuels with 

significant GHG emissions. Besides the main use of hydrogen in processing, it is 

also acknowledged as a future energy carrier, as it can be converted to energy 

without any GHG emissions. Both uses for hydrogen will increase in the near future 

and will result in a larger demand for hydrogen. From this the need arises to 

produce hydrogen from renewable resources. 

One of the renewable primary energy sources that could be converted into 

hydrogen is biomass. Biomass is organic matter, which is produced by the capture 

of carbon from atmospheric CO2, the CO2 emissions from biomass can therefore 

be considered carbon neutral. Hydrogen from biomass can be produced either 

through gasification to produce syngas or through biomass conversion in biofuels. 

One of the biofuels pathways that shows great potential as fuel source for the 

production of hydrogen is biogas. Biogas consists mainly out of carbon dioxide 

and methane, and the methane in the biogas can be converted to hydrogen.  

Most of the hydrogen nowadays is produced through reforming of natural gas, 

which, like biogas, also consists mainly of methane. The conventional methane 

steam reforming process imposes several challenges for the conversion of biogas 

to hydrogen. Process intensification can offer a solution for these challenges. In 

the proposed concept in-situ extraction of hydrogen using hydrogen perm-

selective membranes improves the yields and reduces the requirements for 

downstream separation. This integration makes, the so-called membrane reactor, 

ideal for the production of hydrogen from a decentralised source as biogas. 

The membrane reactor concept has been studied over the past 30 years and the 

membranes used for the hydrogen extraction have improved significantly over 

these years. This improvement resulted in a high selectivity and high hydrogen 

flux resulting in high demands on the heat and mass transfer and reaction rates 

in the often used fixed bed systems. To overcome the limitations of the fixed bed, 

the fluidized bed membrane reactor was developed.  



The application of fluidized bed membrane reactors has been demonstrated for 

the production of hydrogen from methane, however, the path from biogas to 

hydrogen requires further investigation. Optimization of the membrane 

performance and particularly the stability of the membrane under biogas 

reforming and fluidization conditions is imperative for the further development of 

the concept. Moreover, an accurate prediction of the mass transport rates of 

hydrogen is crucial for the design of such a reactor system and requires further 

understanding. These topics are investigated in detail in this thesis. 

Chapter 2 investigates the long-term stability of thin-film Pd-Ag membranes 

supported on porous Al2O3 supports for up to 2650 hours. The work compares 

different sealing techniques at high temperature (400-600 °C) conditions and 

investigates the stability of these membranes in fluidized bed conditions. Results 

show the importance of the sealing and the benefit from the reduction in the 

number of sealings. By dead-end finger-like membranes the nitrogen permeation 

is decreased by 50%. Post characterization indicates a main contribution of small 

pinholes (<55 nm), due to grain agglomeration. It is also shown that at high 

temperature, above 450 °C, the fluidization conditions result in an abrasive action 

on the membranes, which causes a decrease in perm-selectivity.  

H2S, a trace component in biogas, is another component that can adversly affect 

the stability of the membranes. In chapter 3 the effect of trace amounts of H2S 

on the membrane performance was evaluated. It was shown Pd-based 

membranes alloyed with gold show improved stability in the membrane flux, but 

that still even trace amounts <2 ppm can signficantly deteriorate the membrane 

performance. The hydrogen flux could decrease to even less than 10% of the 

original flux. The strong dependence on the partial pressure of H2S could be well 

described using a Langmuir adsorption term. No sulphide formation was 

measured, however, deterioration of the membranes was observed. It is 

concluded that contact with H2S should be avoided.  

Hydrogen production in a fluidized bed membrane reactor from biogas is 

demonstrated in chapter 4. With synthetic biogas, experiments have been 

performed in a single membrane system to investigate the influence of pressure, 

temperature and feed composition. Methane conversions of 68% at 533 °C for 



biogas steam reforming have been obtained, with a hydrogen purity up to 

99.88%. The experimental results have subsequently been used to validate a 1D 

phenomenological two-phase model that accounts for mass transfer limitations 

from the emulsion phase towards the membrane surfaces (concentration 

polarisation). A mass transfer boundary film layer tickness of 0.54 cm was found 

to adequately describe the experimental results.  

The scaling up of the single-membrane fluidized bed membrane reactor 

demonstrated in chapter 4, is investigated in chapter 5. A fluidized bed membrane 

reactor with 5 and 7 membranes in different configurations has been investigated. 

Hydrogen recoveries above 80% have been demonstrated. The effects of the 

fluidization regime (relative fluidization velocity) on the extent of concentration 

polarisation is investigated. Moreover, it is shown that the configuration in which 

the membranes are placed in the system can significantly influence the 

performance. Evaluation of the performance of the system with different 

membrane configurations showed a clear increase in the extent of concentration 

polarisation (up to about 25% decrease in the overall mass transfer rate) when 

the membranes are placed too close to one another and the mass transfer 

boundary layers of neighbouring membranes start interacting.  

Chapter 6 gives a brief summary of the investigations and concusions made on 

the investigated technology and put this into context with a economic analysis of 

the process of biogas steam reforming in a fluidized bed membrane reactor. The 

cost of hydrogen with the fluidized bed membrane reactor technology is found to 

be 6.62–6.47 €/kg, which is comparable to the reference case. The cost of 

hydrogen could be deceased with 6%, when the mass transfer could be enhanced 

by only 50%. Membrane stability and lifetime remain critical for future application 

of the fluidized membrane reactor technology for biogas steam reforming.  
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1.1. The water producer 
Clapham (England), 1766: Hendry Cavendish is the first to isolate hydrogen (H2) 

in his laboratory, which was also his house (A feeling I have felt related with more 

than once during my Ph.D.). Experimenting with hydrogen, he proved its high 

energy content (and that shaving was not the only way to remove one’s facial 

hair). In 1783, Antoine Lavoisier was the first to identify hydrogen. He named it 

after the fact that it produced water when combusted [1]. Lavoisier and his wife 

later came up with the revolutionary concept of mass conservation, the foundation 

of all modern chemistry. This was, unfortunately for him, not the only revolution 

he was involved in. Lavoisier was convicted and guillotined on the 8th of May 1794 

in Paris. 

In 2015, Paris is the stage of a new revolution: the climate revolution. The Paris 

agreement, signed by 194 countries and the European Union, in which is 

recognised the need for an effective and progressive response to the urgent threat 

of climate change on the basis of the best available scientific knowledge [2]. 

Amongst others, this means active actions for climate change mitigation. 

Greenhouse gases are responsible for the observed temperature increase on earth 

by retaining heat in the atmosphere (greenhouse effect). Carbon dioxide (CO2), 

the most famous greenhouse gas (GHG), was measured in the atmosphere for the 

first time in 1958 at 316 parts per million (ppm) [3]. Currently, the CO2 

concentration in the atmosphere is as high as 415 ppm. Other greenhouse gasses 

are methane (CH4), nitrous oxide (N2O) and fluorinated gases. The significant rise 

in the concentration of all these gasses is very likely responsible for the change in 

climate [4]. Studies have confirmed that the use of fossil fuels accounts for the 

majority of anthropogenic GHG emissions [4]. The largest part of these fossil fuels 

are used as an energy source. As the demand for energy is expected to keep 

increasing and 81% of the world primary energy supply was fossil based in 2016 

[5], the mitigation of climate change is a matter of drastically reducing the 

consumption of fossil fuels and GHG emissions from it. In this climate revolution 

against anthropogenic GHG emissions the water producer has a dual role to play.  

Today, hydrogen is mainly playing the role of feedstock for chemical processes. 

In industrial processing, hydrogen is used in oil refining and in the production of 
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ammonia and methanol, but also in glass, electronics and metal industry. The 

second, and increasingly important, role for hydrogen is the one of energy carrier, 

replacing fossil-based energy carriers that emit GHG when converted. With use of 

a fuel cell hydrogen can be converted to water, electricity and heat. This means 

hydrogen can be converted to power without GHG emissions. These roles of and 

their effect on the climate revolution depend on the condition that the hydrogen 

is produced without GHG emissions or from a renewable source. 

 
Figure 1.1. Hydrogen production paths. 

  

1.2. Hydrogen production 
Antoine Lavoisier reacted steam at high temperature with iron to produce iron 

oxide and hydrogen. Nowadays, various paths for the production of hydrogen have 

been developed. As shown in Figure 1.1, these paths can be divided into two 

groups of primary energy use: fossil and renewable. The fossil based hydrogen is 
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mainly produced from syngas, a mixture of CO and H2. Syngas is produced via 

coal gasification, or through reforming of hydrocarbons. The hydrogen can then 

be separated from the syngas. These processes are energy intensive and require 

part of the fuel to provide energy to sustain the reaction, resulting in significant 

GHG emissions. The majority of hydrogen produced today is fossil-based. The 

demands for hydrogen both as an energy carrier and as feedstock are steadily 

increasing. This means that for hydrogen to play an effective role in the reduction 

of anthropogenic GHG emissions the use of primary energy for the production of 

hydrogen needs to transition towards renewable. 

Hydrogen can also be produced from water through electrolysis. The electricity for 

this process can either be derived from fossil fuels, or from a renewable energy 

source, such as solar or wind. When renewable energy sources are used, the 

produced hydrogen is renewable. Strong developments are ongoing in the field of 

water electrolysis, although the production costs of hydrogen from renewable 

energy remain high. Moreover, significant deployment of this technology requires 

more time and further increases the demand for renewable electricity.  

Another primary energy source from which hydrogen can be produced is biomass. 

Biomass consists of organic matter, which is produced by the capture of carbon 

from atmospheric CO2. This process occurs over relatively short timescales 

compared to the formation of fossil fuels. When biomass is used as a primary 

energy source, there are often still GHG emissions. However, when the rate of 

biomass production is equal to the rate of its consumption, the GHG emissions 

can be considered carbon neutral, and biomass can be considered a renewable 

energy source. Hydrogen from biomass can be produced either through 

gasification to produce syngas or through biomass conversion into biofuels. These 

biofuels (e.g. bio-oils) can then be converted into hydrogen by using conventional 

technologies. This offers a paths to produce renewable hydrogen while using 

proven technology.  

1.3. Biogas to hydrogen 
One of these paths is the production of hydrogen from biogas. Biogas is produced 

from the decomposition of biomass under anaerobic conditions [6]. The biomass 
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can consists of organic substrates such as manure, sewage sludge, energy crops 

and organic fractions of industrial or municipal waste. Decomposition can take 

place either in an anaerobic digester or in a landfill. During the fermentation 

process, microbial species convert the biomass into biogas, consisting mainly of 

methane and CO2. The methane in the biogas can be converted into hydrogen in 

the reforming process [7,8]. 

1.4. Intensified reformer 
Reforming is the process in which hydrocarbons are converted in the presence of 

a reforming agent such as steam, to form a hydrogen rich mixture. Methane is 

most commonly used as feedstock in the reforming process for hydrogen 

production, because it gives the highest hydrogen yield per mass of fossil fuel. 

Various reforming processes are available: Partial Oxidation Reforming (POR), 

Autothermal Reforming (ATR), Dry Reforming (DR) and the most commonly 

applied Steam Reforming (SR) [9]. In the conventional steam reforming process, 

methane is converted in an excess of steam via the steam reforming reaction into 

a CO and hydrogen rich gas. This reaction is endothermic and therefore requires 

high temperatures (800 – 1000 ˚C). To increase the hydrogen yield, the water 

gas shift (WGS) reaction is performed. The WGS reaction converts CO and steam 

into hydrogen and CO2 in an exothermic process (thus requiring lower 

temperatures). Eventually, to obtain pure hydrogen, the hydrogen needs to be 

separated, which is usually carried out using pressure swing adsorption (PSA). 

Due to its energy intensive nature, this process is more feasible at a large scale 

(where heat streams can be recovered for steam and electricity production and 

export). This makes the process less favourable for a decentralised source such 

as biogas. Moreover, the concentration of methane in biogas is much lower 

compared to natural gas, requiring larger units for the same production capacity. 

This means that the biogas should first be upgraded to bio-methane before it can 

be applied in a conventional steam reforming process, which is another energy 

intensive step.  

Process intensification is the improvement of a process at different scales to 

significantly increase process efficiency. Research in the field of process 

intensification on the conditions, catalyst and reactor configuration have resulted 
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in the development of novel reforming concepts. One of these novel reforming 

concepts is the membrane reactor. In a membrane reactor, reaction and hydrogen 

separation are combined in one single unit. For the steam reforming process this 

means that SMR, WGS and the separation of hydrogen all take place in a single 

unit [10]. This allows for significant reduction of the number of equipment, and 

their size (and therefore reduction of CAPEX). Moreover, the extraction of 

hydrogen from the reaction environment affects the reaction equilibrium. The shift 

of equilibrium towards the products, allows operation at much lower temperatures 

(450 – 600 ˚C) for the same hydrogen yield (thus reduction of OPEX). The 

membrane reactor concept opens a new window for small-scale reformers, which 

is ideal for the production of hydrogen from a decentralised source such as biogas 

(see Figure 1.2). 

 

 
Figure 1.2. Schematic representation of a membrane reactor for h2 production by methane 
steam reforming. 
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1.5. The fluidized bed membrane reactor 
Membrane reforming systems have been topic of study for the past 30 years. Its 

development went hand-in-hand with that of hydrogen perm-selective 

membranes. Dense metallic membranes have been central to this, due to their 

unique separation mechanism, resulting in ultra-high purity hydrogen [11]. By 

decreasing the thickness of the membrane barrier, the hydrogen flux was 

increased, significantly improving reactor performance and reducing the required 

membrane area. The first and most studies of the membrane reformer were 

performed, for their simplicity, in packed-bed configuration [12]. In this 

configuration, the membrane is surrounded by the catalyst material. The main 

limitation in that case was the low flux through the membranes. As the permeation 

through the membranes increased over the years, the hydrodynamics and mass 

transfer characteristics inside the reactor start to play a significant role affecting 

the required membrane area. The separation of hydrogen is in this case not only 

limited by the membrane flux, but also by mass transport of hydrogen towards 

the membrane [13]. Moreover, as the extent of reaction kept increasing, the heat 

supply for the highly endothermic system became more and more difficult in 

packed bed configurations. To overcome these drawbacks of mass and heat 

transfer, new concepts were introduced, amongst them the fluidized bed 

membrane reactor. In a fluidized bed, unlike in the fixed state of a packed bed, 

the catalyst partials are in a dynamic fluid-like state, in which the membranes are 

immersed. This fluidization state is obtained when the drag forces of the gas on 

the particles overcome the nett gravitational forces. The main advantages are 

considered to be: negligible pressure drop, (virtually) isothermal operation, 

improved fluidization due to compartmentalization of the bed by the membranes, 

resulting in bubble breakup which enhances mass transfer [14]. 

This thesis encompasses scientific research into the development of the process 

of steam reforming of biogas in a fluidized bed membrane reactor (see Figure 

1.3). The work aims at the understanding of the workings of individual 

components, through integration and scale up, towards an understanding of the 

performance of the entire integrated system. In Chapter 2 the membranes, key 

to pure hydrogen production, are the topic of investigation. The stability and 

performance of the supported Palladium (Pd) membranes used in this work are 
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studied for long-term and under different process conditions. Chapter 3 

investigates the effect of alloying of gold (Au) into the membranes to operate in 

an H2S containing environment. As biogas is more than a mixture of methane and 

CO2, it also contains trace amounts of hydrogen sulfide (H2S), which can have a 

strong interaction with the Pd-based membranes. In Chapter 4 membrane and 

catalyst are integrate in a reactive environment. The performance of a single 

membrane in a fluidized bed is investigated for the reforming of synthetic biogas. 

A one-dimensional fluidized bed reactor model is extended to account for the mass 

transport limitation towards the membrane. The experimental results are used to 

validate the presented model. In Chapter 5 effects of increasing system scale and 

membrane configuration on the performance is investigated. Two reactors with a 

much larger membrane area are experimentally demonstrated and the results are 

analysed with the developed reactor model. In Chapter 6 the knowledge obtained 

on the reactor level used in for a system analysis to obtain insight in the economics 

of biogas steam reforming in a fluidized bed membrane reactor. The results 

obtained and their implications for reforming towards renewable hydrogen are 

discussed.  

 
Figure 1.3. Schematic representation of fluidized bed membrane reactor concept for biogas 
steam reforming  
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Stability of thin-film Pd-based supported 

membranes 

Membrane reactors have demonstrated large potential for the production of 

hydrogen via reforming of different feedstocks. The long-term performance and 

stability of the membranes are extremely important for the possible industrial 

exploitation of this type of reactors. This chapter investigates the long-term 

stability of thin-film Pd-Ag membranes supported on porous Al2O3 supports. The 

stability of five (similarly prepared membranes) have been investigated for 2650 

hours, at up to 600 °C and under fluidization conditions. Results show the 

importance and the contribution of the sealing to the (loss of) membrane 

selectivity. At higher temperatures deformation of the membrane surface results 

in pinhole formation and consequent decrease in selectivity. Stable operation of 

the membranes in a fluidized bed is observed up to 450 °C, however, at higher 

temperatures the abrasive action of the particles under fluidization causes 

significant deformation of the palladium surface resulting in a decreased 

selectivity.



14 |C h a p t e r  2  

 

2.1. Introduction 
Palladium-based membrane technology has shown great potential in improving 

the reforming efficiency and intensifying reforming processes. The membranes 

can either be applied as a downstream separation step for hydrogen purification 

or integrated with the catalyst in a membrane reactor, in which hydrogen 

production and separation are combined in one single unit [1]. Membrane reactors 

are mostly studied in two different configurations, viz. (micro) packed bed (PB) 

and fluidized bed (FB) reactors. The membranes allow for the selective extraction 

of hydrogen from the reactor, shifting the equilibrium, thereby resulting in a 

higher conversion at lower temperatures (and consequently higher efficiency) 

compared to conventional reactors. This also produces a stream of pure hydrogen 

directly from the reactor without the need for down-stream separation units. 

Long-term stable production of pure hydrogen is therefore imperative to make the 

concept of membrane reactors industrially interesting. The performance of a 

membrane reactor depends largely on the flux of hydrogen extracted and on the 

purity of the hydrogen produced. The stability of a membrane is here considered 

as the ability of a membrane to maintain a constant flux of hydrogen as well as a 

constant perm-selectivity over time.  

The performance of different membranes and membrane reactors configurations 

has been reported in literature. Full conversion of the feedstock as well as a high 

hydrogen recovery through the membranes with production of pure hydrogen 

have been reported [2]. Unfortunately, very few works have focused on the long-

term stability of the system and the durability of the membranes, which is an 

important aspect for the Pd-based membrane reactors to become a viable 

technology.  

The stability of membranes in steam reforming was studied in the work of Uemiya 

et al. published in 1991 [3]. Hydrogen production with a steam reforming Pd-

membrane reactor was investigated and a constant permeation for at least 10 

hours was reported, whereas in previous works a decrease in the permeation was 

reported because of the formation of carbon on the membrane [4–6]. Other works 

also reported a decrease in the hydrogen permeation, also under non-reactive 

conditions, i.e. when using either pure hydrogen or hydrogen/nitrogen gas 
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mixtures. Okazaki et al. reported a decrease in the hydrogen permeation above 

600 °C due to the strong interaction between the alumina support and the Pd-

layer [7]. Fernandez et al. observed a strong interaction also between the TiO2 

support of a catalyst and the Pd-membrane [8]. The works of Okazaki and 

Fernandez c.s. clearly indicate that the materials that come into contact with the 

membrane should be carefully selected.  

Since the flux increases with a decrease in the membrane layer thickness, 

membrane research has focused on producing thinner selective layers. For self-

supported membranes this has resulted in a reduction of mechanical stability. 

Recent work of Peters et al. has shown that even 200 µm wide channels do not 

provide sufficient mechanical support to the membrane to withstand the desired 

high pressure differences; a 12.5 µm palladium-silver layer deformed over time 

at 550 °C and 6 bar and started to form cracks reducing the perm-selectivity of 

the membrane [9]. Supported membranes have the advantage of maintaining a 

high mechanical stability for a very thin membrane layer. Metallic and ceramic 

supported Pd-based membranes have been prepared by various methods yielding 

a wide range of permeances and perm-selectivities [2].  

Table 2.1 presents a summary of membrane reformer tests published in the 

literature that reported the duration and results regarding the stability of the 

membranes. In most of these works, a decreased perm-selectivity or deterioration 

of the membrane performance was reported. However, a wide variety of causes 

has been indicated. A better and more quantitative understanding of the rates and 

causes of the membrane instability and decrease in the perm-selectivity and 

hydrogen flux will help manufacturing better membranes as well as improving 

their design to enable durable operation of the membrane reactor.  

This chapter investigates the stability of Pd-Ag thin-film membranes on ceramic 

supports for their application in a fluidized bed membrane reactor. The long-term 

stability of the Pd-Ag membranes was measured for up to 2750 hours at 550 °C. 

These results were used as a reference to study the stability of the membrane 

sealing, as well as the contribution of the formation of leakages at high 

temperatures up to 600 °C and under fluidization conditions.
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Table 2.1. Stability results in literature for membrane reformers. 

Reactor 
configuration Feed Membrane 

Membrane 
thickness 

µm 

Temperature 
°C 

Pressure 
bar 

Time 
(h) Stability results 

H2 
Purity 

% 
Source 

PB CH4 
Pd glass 
support 20 350 – 500 1 - 9 10 

o Stable
o Previous works had carbon

on membrane.
- [3] 

PB Ethanol Pd and 
PdCu 1.3 and 2 280 - 360 1 45 

o Decrease in permeance in
first 20 hours.

o Pinholes and carbon on the
Pd membr. After the test
(SEM)

o Few openings after the test
(SEM).

o Both membranes retained
bulk integrity.

100 [6] 

PB methanol Pd/Al2O3 ~7 280 - 330 1.5 – 2.5 1000 
o Decrease in ideal perm

selectivity 6000 to 4300
(H2/N2)

~100 [10] 

PB Methanol 
Pd (support 

not 
specified) 

24.3 200 - 300 1 – 3.44 36 

o Deteriorated membrane
surface, may be attributed
to hydrogen embrittlement.

o Visible carbon deposition.

- [5] 

PB CH4 
PdRu 

(PSS/YSZ) 5 ~580 29 1000 

o Stable CH4 conversion
o Relatively stable H2 recovery
o Decline in H2 purity
o 20% reduction of H2 flux due

to coking.
o Nitrogen leak increased two

orders of magnitude.
o Defects over the entire

surface.

>93 [11] 
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PB CH4/CO2 Pd/Al2O3 ~10 380 - 450 2.5 - 3.5 1000 

o Decrease in ideal perm
selectivity 4300 – 1000
(H2/N2).

o Formation of pinholes and
sintering on the membrane

o Catalyst deactivation.

96 - 70 [12] 

PB CH4 Pd/Al2O3 ~3.8 580 28 1100 

o Carbon formation found on
catalyst.

o Increase of leak flow
o Membrane selectivity 

decreased 18 times

92-86 [13] 

PB NG 
Pd stainless 

steel 
supported 

20 495 - 540 9 3310 

o Replacement of membranes
was required after 492 hours
due to leakages.

o After replacement H2 purity
remained >99.99%

o Increase of impurities after
2100 hours.

>99.99 [14] 

FB CH4 
PdAg 

(Inconel) 
3 + 1.5 
out + in 500 - 630 2.0 - 5.3 260 o Overall properties of the

membrane were not altered. - [15] 

FB EtOH PdAg/Al2O3 ~3-4 450 - 550 2 - 4 50 o Test stopped due to failure
on sealing. - [16] 
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2.2. Experimental 

2.2.1. Membrane preparation 

The membranes investigated in this study are thin-film palladium-silver 

membranes prepared by electroless plating on 100 nm asymmetric Al2O3 tubular 

supports provided by Rauschert Kloster Veilsdorf. Different support dimensions 

were used, as shown in Figure 2.1, in particular 10/4 mm and 14/7 mm 

outer/inner diameter (OD/ID). These supports were used in two different 

configurations, viz. with both sides open and with one side closed (referred to as 

“finger-like” supports). The finger-like shape is also porous and further covered 

by the palladium/silver selective layer. Ceramic substrates were activated by 

immersion into a palladium acetate solution with a subsequent co-deposition of a 

Pd-Ag layer following the method by Pacheco Tanaka et al. [17]. The palladium 

concentration was modified according to the dimensions of the supports and the 

electroless plating process was carried out for 5 hours for each membrane. Only 

membrane 5 (shown in Table 2.2) had 6 hours of deposition. Palladium silver 

compositions were calculated after analysis of the samples taken from the ELP 

solution. The results of the characterization carried out by ICP-OES are 

summarized in Table 2.2. After the plating step, the metallic layer was annealed 

at 550 °C for 4 h in a reducing atmosphere (10% H2 and 90% N2). 

Table 2.2. Membranes used in this study with electroless plating time and solution 
composition. 

Membrane ELP time (h) Pd% Ag% 

1 5 94.70 5.30 

2 5 94.83 5.17 

3 5 95.08 4.92 

4 5 95.07 4.93 

5 6 92.42 7.58 
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The membranes were sized and sealed using the Swagelok sealing method 

developed by Fernandez et al. for 10/7 mm outer/inner diameter (OD/ID) [8] as 

also applied in other studies ([16] and [18] for 10/4 and 14/7 mm supports 

respectively).  

 
Figure 2.1. Sealed membranes with a cross-section; from left to right: a 14/7 mm OD/ID 
membrane, a 10/4 mm OD/ID membrane and a 14/7 mm OD/ID finger-like membrane. 

2.2.2. Permeation modules 

Three module configurations were used to study the stability of the membranes 

(Figure 2.2), using the same feed and outlet control and analysis systems (one 

module per time can be used in the permeation setup). The feeding of hydrogen, 

nitrogen and air (or a mixture of them) was controlled by Bronkhorst mass flow 

controllers. Membrane module configuration A allows testing of 5 membranes at 

once in a single permeation module; this ensured that all the membranes were 

exposed to exactly the same operating conditions. The permeate of each of the 5 

membranes can be measured individually. Configuration B is a permeation module 

for the testing of a single membrane. This same module allows for the integration 

of the membrane in a fluidized bed, as shown in configuration C; the fluidized bed 



20 |C h a p t e r  2  

material consisted of Rh/Al2O3 particles (provided by Johnson Matthey) with an 

average particle size of 180 µm. The pressure in the system was controlled using 

a backpressure regulator. The permeate flow rate from the membrane was 

measured using Horiba VP film flow meters. For the hydrogen flux the Horiba VP-

4 (1-10 l/min) was used, whereas for the nitrogen flux the Horiba VP-1 was used 

(0.2-10 ml/min). In some cases, the nitrogen flow rate was below 0.2 ml/min, in 

which case the flux (for the calculation of the perm-selectivity) was set at 0.2 

ml/min with the indication that the actual flux is smaller than this value.  

Figure 2.2. Schematic representation of the permeation modules used in this study. 

2.2.3. Long-term stability tests 

The stability of five membranes was studied using configuration A. Membranes 1 

and 2 prepared on 14/7 (OD/ID) supports were cut in two parts (indicated with 

1a, 1b and 2a, 2b respectively) in order to investigate the stability evolution of 

two equally prepared membranes. Membrane 2a had a finger-like part; this 

membrane was used to investigate the effect of the membrane sealing on the 

stability. Membrane 3 was prepared on a 10/4 support, and due to the lower 

thickness of the support, a lower torque was applied to seal this membrane. The 

five membranes were in total operated for 2000 hours. After 2000 hours, 
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membrane 1a and 2a were removed for intermediate characterization, while the 

other membranes were operated for another 750 hours. Membrane number 4 

(10/4 OD/ID) was studied as a single membrane at high temperature. The 

membrane was stabilized at 400 °C for 150 hours and operated at 550 °C and 

600 °C. Membrane 4b and 5, both finger-like, 10/4 (OD/ID) and 265 mm were 

sealed with the same torque. These membranes were used to study the influence 

of the fluidization on the permeation properties. The membranes were integrated 

into two separate reactors and stabilized at 400 °C for 150 hours. After this period, 

a catalyst bed was introduced into the reactor containing membrane 4b. The 

minimum fluidization velocity was experimentally determined with the standard 

pressure-drop method to ensure the fluidization velocity was set at 3 times the 

minimum fluidization velocity. Both membranes were first kept at 400 °C and after 

700 hours the temperature was increased to 500 °C. The gas feed was a 50:50 

mixture of nitrogen and hydrogen, the nitrogen ensured that the permeation of 

hydrogen did not decrease the fluidization velocity too much so that the 

fluidization velocity was kept well above the minimum fluidization velocity 

(although this induced external mass transfer limitations, which are not relevant 

for this study on the membrane stability and are not further discussed in this 

study). The membrane parts and experimental details are summarized in Table 

2.3.  
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Table 2.3. Details of membranes and conditions used in this work. 

Membrane 

Reactor 
configuration 

Support Sealing 

Length 
(mm) 

Temperature 
(°C) 

Time 
Tested 
(hours) 

On 
Stream* Number Material 

Size Ø 
Outer/inner

 (mm) 
Top Bottom 

1a 5 membranes 
Empty tube 

Pd-Ag Al2O3 
100 nm 14/7 Swagelok 

12 Nm 
Swagelok 

12 Nm 105 400-525 2000 H2 

1b 5 membranes 
Empty tube 

Pd-Ag Al2O3 
100 nm 14/7 Swagelok 

12 Nm 
Swagelok 

12 Nm 90.5 400-550 2650 H2 

2a 5 membranes 
Empty tube 

Pd-Ag Al2O3 
100 nm 14/7 Swagelok 

12 Nm 
Finger-

like 112 400-525 2000 H2 

2b 5 membranes 
Empty tube 

Pd-Ag Al2O3 
100 nm 14/7 Swagelok 

14 Nm 
Swagelok 

14 Nm 75 400-550 2650 H2 

3 5 membranes 
Empty tube 

Pd-Ag Al2O3 
100 nm 10/4 Swagelok 

7 Nm 
Swagelok 

7 Nm 107.5 400-550 2650 H2 

4a 
Single 

membrane 
Empty tube 

Pd-Ag Al2O3 
100 nm 10/4 Swagelok 

6 Nm 
Swagelok 

6 Nm 87.98 400-600 725 H2 

4b 
Single 

membrane 
Fluidized bed 

Pd-Ag Al2O3 
100 nm 10/4 Swagelok 

6 Nm 
Finger-

like 265 400-500 1150 H2/N2 
(50:50) 

5 
Single 

membrane 
Empty tube 

Pd-Ag Al2O3 
100 nm 10/4 Swagelok 

6 Nm 
Finger-

like 265 400-500 1150 H2/N2 
(50:50) 

* “On stream” indicates the gas or gas mixture the membranes were exposed to when not being measured.



S t a b i l i t y  o f  t h i n - f i l m  P d - b a s e d  s u p p o r t e d  m e m b r a n e s | 23 

 

2.2.4. Membrane characterization 

After the membranes were tested the systems were cooled down in nitrogen. 

When at room temperature the nitrogen flux was measured at different pressures 

and the membranes were removed from the system. The sealing parts were 

covered with a resin, to distinguish the leakage contribution of the sealing from 

the leakages from the surface, and subsequently the permeation of nitrogen was 

again measured (dry permeation). To obtain the pore sizes of the pinholes, 

capillary flow porometry was used. The membranes were immersed in ethanol and 

the nitrogen flux as a function of the pressure was measured (wet permeation). 

With the dry and wet permeation lines, the pore size of the pinholes was estimated 

using the Young-Laplace equation [19]. 

2.2.5. Post mortem characterization 

After the flux characterization, the seals were removed and the membranes were 

characterized by X-Ray Diffraction (XRD), Scanning Electron Microscopy (SEM) 

and Energy Dispersive Spectroscopy (EDS). The XRD analysis was performed at 

1.5406 Å, with the Rigaku Miniflex 600. SEM was performed on both a cross-

section and the surface of the membranes, using secondary electrons and 

backscattered electrons, with a Phenom Pro X. The EDS was performed on the 

same system as the SEM at 15kV. 

2.3. Results and discussions 
In order to integrate the membranes in the reactors, each membrane was 

connected to a dense metallic tube using Swagelok and graphite seals. The 

mechanical stress that can be induced on the membranes by the Swagelok sealing 

method is found to be limited by the support and could result in failure of the 

membrane sealing during operation. The 10/4 supports used in this work allow for 

sealing with a higher torque than used on the 10/7 mm OD/ID membranes 

presented in the work of Fernandez et al [8]. However, Spallina et al. used also 

10/4 supports and reported significant failure of the membranes [16]. For the 

sealing of the membranes in this work it was found that the torque applied on the 

10/4 supports could be increased compared to the 10/7 membranes. The 14/7 

mm OD/ID support was found to withstand a sealing torque exceeding 20 Nm. 
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However, at this torque level the membrane showed damage to the thin palladium 

film, therefore the maximum torque applied in this work was set to 14 Nm. All 

membranes investigated in this work were leak tested prior to other tests. The 

quality of the sealing can be considered as a potential contribution to the decrease 

in perm-selectivity of the membranes. Thus, a reduction in the number of sealing 

points could improve the stability of the membrane. In this work finger-like 

membranes were used where the end cap of the membrane is completely covered 

with the palladium layer. The end cap is made of a porous ceramic part formed 

during the support production and therefore also contributing to the total surface 

area of the membrane [20]. 

2.3.1. Air treatment and initial conditions 

Air treatment is usually performed to stabilize and increase the hydrogen flux [21–

23]. Roa et al. have shown that the air treatment had more than a cleaning effect 

on the surface of the membranes and also caused morphological changes of the 

surface [24]. However, it has been reported that air treatment also increased the 

nitrogen flux indicating the formation of pinholes. The membranes in this work 

were heated up to the desired temperatures under nitrogen; at this temperature, 

the nitrogen permeation was measured followed by an air treatment. The air 

treatment was performed by flushing a 50:50 air/nitrogen mixture into the system 

for 2 minutes; for membranes 1a, 1b, 2a, 2b and 3 at 500 °C, and for membranes 

4a, 4b and 5 at 400 °C respectively. After the treatment, the nitrogen and 

hydrogen flux were again measured. The obtained permeation results are reported 

in Figure 2.3. 
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Figure 2.3. Nitrogen permeance before and after heating and air treatment. 

The results show that the nitrogen permeance after the air treatment increases 

between 400% and 700% at 500 °C, which is significantly more than the 10% to 

30% at 400 °C. The increase in nitrogen permeance could be the result of a 

rearrangement of the palladium surface because of oxidation, which may cause 

defects. The formation and connection of defects through the palladium layer as 

a result of this rearrangement could subsequently result in the formation of 

pinholes. The results show that this effect is more pronounced at higher 

temperatures. This can be related to the higher reaction kinetics of palladium 

oxidation at higher temperatures, which results in a faster and less structured 

rearrangement [25]. The air treatment did not show significantly different effects 

for the finger-like membrane compared to the other membranes, indicating that 

the graphite ferrules in the sealing are not significantly affected by the air 

treatment, both at 400 °C and 500 °C. The hydrogen flux increased from 70% up 

to 110% compared to the case before the air treatment; this is expected and 

comparable to the increases reported before in the literature [21]. The ideal perm-

selectivity ranged, after the air activation, between 7500 and 9000 at 500 °C for 

these membranes. The results of the permeation test for all the membranes at 

their initial conditions are shown in Figure 2.4. The permeation flux of all 
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membranes after activation showed good correspondence with the 

transmembrane difference of the square root of the hydrogen partial pressure, 

indicating that the hydrogen flux is only limited by bulk diffusion of hydrogen in 

the palladium layer. Both parts of membrane 1 and 2 showed almost the same 

hydrogen permeance, whereas the permeance of membrane number 3 was found 

to be 1.2 times higher than that of membrane 1 and 2. We can relate this 

difference to a minor difference in the (thickness of the) selective layer and not to 

differences in the dimensions of the support, since the pressure exponent showed 

a good fit with 0.5 for all membranes, indicating no effect of the support. 

Membrane 4 showed a higher permeance compared to membrane 5, which can 

be explained by the longer time of the ELP process of membrane 5 which resulted 

in a slightly thicker Pd-Ag layer, lowering the hydrogen permeance. 

Figure 2.4. Initial hydrogen permeance of the membranes as measured after air activation. 
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2.3.2. Long-term stability 

Membranes 1a, 1b, 2a, 2b and 3 were studied to compare the different seals and 

sealing forces. The long-term behaviour of these membranes was investigated at 

500 °C, 525 °C and 550 °C using setup configuration A. Both the hydrogen and 

nitrogen permeances are measured over the tested time, and are shown in Figure 

2.5 and Figure 2.6, respectively. The hydrogen permeance initially increased, 

however after 200 hours it stabilized for membranes 1a, 1b, 2a and 2b. This 

process was shown to be faster for membrane 3. This initial increase is understood 

as a period of further annealing of the membrane. After this initial increase the 

hydrogen permeance decreased for all the membranes, however, for membrane 

3 it decreased more significantly. The hydrogen permeance stabilized after ca. 

1000 hours. At this point the temperature was increased to 525 °C, and an 

increase in the hydrogen permeability as a result of the increased temperature is 

observed. This is followed with a similar initial increase over time as seen at 500 

°C followed by a decrease, which then again stabilizes. Once again, for membrane 

3 the process is more pronounced and faster. After 2000 hours on stream, the 

system was cooled down and membrane 1a and 2a were removed. After heating 

up the system, the remaining membranes showed a stable hydrogen permeance. 

Following the stable period, the system was heated further to 550 °C. At this 

temperature a direct decrease in the hydrogen permeance was measured. After 

2750 hours the test was stopped in order to analyse the membranes. The effects 

of the high operating temperature of 550 °C and above are further investigated 

using membrane 4a.
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Figure 2.5. Long-term hydrogen permeance of membranes 1a, 1b, 2a, 2b and 3 at 500 °C, 525 °C and 550 °C. 
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Figure 2.6. Long-term nitrogen permeance of membranes 1a, 1b, 2a, 2b and 3 at 500 °C, 525 °C and 550 °C.
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The increase in nitrogen permeation follows a linear trend over time for all the 

membranes. However, membrane 3 shows a more pronounced increase in the 

nitrogen permeance. Due to a shutdown of the system (at around 600 hr), 

membrane 1a made a small jump up in nitrogen permeance. The other 

membranes seemed to be unaffected by this shutdown. The ideal perm-selectivity 

ranged after the long-term test from 755 to 3100 at 550 °C for membrane 1b, 2b 

and 3. 

To further compare the long-term behaviour of the membranes both the time 

derivative of the hydrogen and nitrogen permeance were calculated and compared 

for each temperature (see Figure 2.7). In the calculations of the slopes the initial 

increase was not considered for the hydrogen permeation. The hydrogen 

permeance has a negative slope as the permeation decreases over time; it is clear 

that the slopes become more significant at higher temperatures. The decrease in 

hydrogen permeability is possibly related to surface deformation, of which the rate 

is increased at higher temperatures [26]. The surface transformations are further 

investigated in the post characterization. 

Figure 2.7. Slope of hydrogen and nitrogen permeance over time. 

The slopes of the nitrogen permeance of the tested membranes are relatively 

small compared to literature. Abu El Hawa reported slopes of 4∙10-11 down to 

5∙10-12 mol m-2 s-1 Pa-1 h-1 for metallic supported membranes with a 30 µm layer 

of YSZ [27]. With an increase in the temperature the slope of the nitrogen 
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permeance increases almost for all the membranes. Membrane 2a (finger-like) 

shows the lowest increase in nitrogen permeation due to the fact that this 

membrane has only one sealing. To further investigate this, the relative nitrogen 

permeance was determined by dividing the nitrogen permeance by the initial 

nitrogen permeance, which is shown in Figure 2.8. These results show that the 

relative nitrogen permeance of membrane 2a is half that of membrane 2b (which 

was originally part of the same membrane but has now two sealings), also 

membrane 1a shows that the relative nitrogen permeance is doubled compared 

to membrane 1b. This indicates that the main contribution of the nitrogen 

permeance increase over time is related to the sealing. Thus, also the larger 

increase in the nitrogen permeance through membrane 3 can be suspected to be 

caused by the lower force applied on the sealing. At 525 °C this effect was less 

pronounced, which could indicate an increased contribution of leakages through 

pinholes formed on the surface. If the surface contribution increases the effect of 

the sealings become less pronounced. 

 
Figure 2.8. Relative nitrogen permeance of the membranes 1a to 3 in the long-term 
membrane test. 

2.3.3. High temperature stability 

To investigate the membrane stability at temperatures above 550 °C membrane 

4a was used. The hydrogen permeance increases with temperature; at 500 °C 
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this increase is more pronounced due to the stabilization of the Pd-Ag layer; the 

corresponding nitrogen permeance as well as the slope of nitrogen permeance are 

comparable to those observed for membrane 3 at both 500 °C and 550 °C. At 600 

°C there is a very large decrease in the hydrogen permeance and a very 

pronounced increase in the nitrogen permeance, which eventually resulted in 

membrane failure (i.e. ideal perm-selectivity <500). The decrease in hydrogen 

flux was expected, since at 600 °C there is a strong interaction between the 

alumina support and the palladium layer [7]. A similar increase in the nitrogen 

permeation was observed after 150 hours at 600 °C in single gas conditions for a 

Pd94.9Ag5.1 membrane by Melendez et al. [28]. The main purpose of the high 

temperature stability test in this work is to differentiate between different effects 

that cause the increase in the nitrogen permeance, which is further discussed in 

the post characterization section. 

Figure 2.9. Effect of temperature on the long-term hydrogen and nitrogen permeance of 
membrane 4a.  

2.3.4. Fluidization conditions 

In order to study the effect of fluidization on the hydrogen and nitrogen 

permeation, two similar finger-like membranes, 4b and 5, were integrated in two 



S t a b i l i t y  o f  t h i n - f i l m  P d - b a s e d  s u p p o r t e d  m e m b r a n e s | 33 

 

identical reactors and the nitrogen and hydrogen permeances were measured. 

Both membranes were activated with an air treatment and were subsequently 

stabilized at 400 °C. Both membranes showed a similar performance and stability, 

as can be seen from Figure 2.10 and Figure 2.11 showing the hydrogen and 

nitrogen permeance respectively. Membrane 4b exhibited a somewhat higher 

initial hydrogen permeance, whereas the nitrogen permeance for both membranes 

were similar. After the stabilization period the systems were cooled, the catalyst 

bed was introduced into the system of membrane 4b and both systems were 

heated back up. After heating up, membrane 4b showed a small step increase in 

the hydrogen permeance, whereas membrane 5 showed a step decrease; the 

increase in hydrogen permeance of membrane 4b could be explained by a higher 

average temperature in the system; the temperature profile along membrane 4b 

in the fluidized bed became more uniform and hence a higher permeation was 

obtained. The step decrease can be related to a deactivation of the palladium layer 

during the cool-down cycle, however this behaviour is normally not observed for 

these membranes when cooled down and heated back up. The nitrogen 

permeation is also affected by the cool-down and the integration of the catalyst. 

During fluidization, membrane 4b showed a decrease in the hydrogen permeance 

during the first 250 h, after which a stable hydrogen permeance was obtained. 

The nitrogen permeance of membrane 4b decreased under fluidization, in contrast 

to all other experiments. It is suspected that both effects are the result of catalyst 

particles covering the membrane surface, covering the pinholes and reducing the 

surface area available for hydrogen adsorption. Membrane 5 exhibited a stable 

hydrogen and nitrogen permeance over this period. After 850 hours the system 

temperatures were increased to 500 °C. Both membranes showed an increased 

hydrogen permeance related to this temperature increase. Membrane 5 showed 

initially a decrease in the hydrogen permeance, which could be attributed to the 

change in temperature distribution along the membrane. Nevertheless, the 

temperature along membrane 4b in the fluidized bed was found to be stable and 

still an increase in the hydrogen permeance was observed. Taking the nitrogen 

permeance into account, a stable operation for membrane 5 was observed, 

whereas a large increase in the nitrogen permeance was observed for membrane 

4b. From these results it can be concluded that the membrane and sealing was 

significantly affected by the presence of the fluidized bed at 500 °C. To investigate 
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whether the extent of the leakages increases gradually with higher operating 

temperature, or whether there is a strong increase at a certain temperature, 

membrane 5 was resealed after post characterization, placed in the fluidized bed 

and then tested again at 450 °C and 500 °C under the same conditions as for 

membrane 4b before (results are not shown in the figure, since the time scales 

were shorter). The nitrogen slope at 450 °C was found to be 4.8∙10-13 mol m-2 s-

1 Pa-1 h-1 and at 500 °C 1.5∙10-11 mol m-2 s-1 Pa-1 h-1. The nitrogen permeation 

increased with a factor 3 between 400 °C and 450 °C, while it increased with a 

factor 31 when going from 450 °C to 500 °C. These results suggest a critical 

change between 450 °C and 500 °C, where the leak rate increases significantly. 

Post characterization of the membranes was performed in order to understand the 

main contribution to the membrane failure.  

Figure 2.10. Hydrogen permeance of membrane 4b in the fluidized bed and membrane 5 
in the empty system. 
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Figure 2.11. Nitrogen permeance of membrane 4b in the fluidized bed and membrane 5 in 
the empty reactor. 

2.3.5. Post characterization 

To better understand the origin of the increase in the nitrogen permeance of the 

tested membranes, capillary flow porometry was used (after closing the sealing 

parts by using a gas tight resin). The results of the capillary flow porometry are 

translated to pore sizes using the Young-Laplace equation; the results are shown 

in Figure 2.12. The pore distribution for membrane 4a could not be determined 

due to damage to the membrane while preparing the sample. 
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Figure 2.12. Nitrogen permeance contributions at room temperature, with corresponding 
pore size contributions 

The blue part in the bars in Figure 2.12 shows which part was a result of leakages 

from the sealing. It is clear from the figure that the contribution of leakages from 

the sealing was the lowest for finger-like membranes 2a, 4b and 5 with only one 

sealing, which confirms the results obtained during the long-term stability tests 

that the sealing contributes partly to the nitrogen permeance and can be 

decreased by decreasing the number of sealings used. Moreover, it can be seen 

that the contribution of the sealing to the nitrogen permeance on membrane 3 

was significantly higher because of the lower torque applied on the sealing. 

However, the increase in nitrogen permeation during the long-term stability test 

could also be related to the formation of large pores, as they show to have a 

significant contribution to the overall leakage rate as well. In membranes 1a, 1b, 

2a and 2b most of the contribution is shown to result from pores with a size 

smaller than 55 nm. Membrane 4b and 5 show a large contribution of pores larger 

than 100 nm and pores smaller than 55 nm. The contribution of the large pores 

was expected for membranes 4b and 5 since minor pinholes were visible on the 

surface when the membrane was immersed in ethanol before the high 

temperature tests were carried out. 
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The different contributions to the nitrogen permeance of membrane 4b and 5 were 

studied in more detail to investigate whether the finger-like part of the membrane 

suffered more damage from the fluidization than other parts of the membrane. To 

this end, the membrane was immersed in increments of 1 cm in ethanol while the 

permeate side was pressurized with helium from the inside of the membrane. The 

helium flow rate was measured during the immersion. The pressure difference 

over the membranes was selected such that the ethanol closed all the pinholes 

during the test and that no bubbles were observed from the membrane surface. 

Figure 2.13 shows the distribution of the leakage rates along the membrane, 

where the relative-length 0.0 represents the tip of the finger-like membrane. From 

these results it can be observed that membrane 5 shows a relatively equal 

distribution along its length with some parts that show a slightly larger 

contribution with more pinholes. Peters et al. reported also an almost evenly 

distribution of the leaks for Pd membranes [29]. Membrane 4b which was in the 

fluidized bed showed a higher total helium flow rate; however, no significantly 

higher contribution is obtained from the finger-like part, suggesting that the 

finger-like part did not suffer more than the other parts in the fluidized bed. For 

membrane 4b the helium flow rate along the membrane increased with the length 

of the membrane. It is suspected that this is related to interactions of the catalyst 

particles and the Pd film in the fluidized bed reactor. An inherent property of a 

fluidized bed is that bubbles of gas rise through the bed of solid particles, the size 

of the bubbles grow along the reactor. These bubbles carry particles in their wake 

inducing a solids circulation [30]. As bubbles rise in the bed, they grow and rise 

with higher velocity, thereby also increasing the particle velocity. The higher 

particle velocity results in an increased energy of impact of the collisions of the 

particles on the membrane. The results suggest that the increase in leakage rate 

is related to the increase in mechanical impact of the fluidized bed on the 

membranes. The temperature plays in this case a detrimental role in when the 

collisions of the particles become destructive to the membrane. 
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Figure 2.13. Helium flow rate distribution along the membrane 4b and 5. 

2.3.6. Post mortem characterization 

XRD 

To verify whether there is chemical interaction and to investigate the alloying 

condition, XRD analysis has been used. Samples of the pre-tested membranes 

were compared with samples of the membranes after the tests. The results of the 

XRD analysis are presented in Figure 2.14. The only peaks that are distinguished 

correspond to either Pd, Ag or the alloy of Pd75Ag25. The pre-testing sample 

showed for membrane 1, 2 and 4 a split in the peak indicating that the alloy of 

Pd-Ag is not completely formed yet. This alloying can explain the increase in the 

hydrogen permeance during the first 200 hours of membranes 1 and 2 as opposed 

to membrane 3 in the long-term test [26]. The intensity of the used membrane 

1, 2 and 3 are 2 to 3 times larger compared to the fresh membrane samples. The 

differences in the peak width and intensity indicate a change in morphology. 

According to the Scherrer equation 2.1, the crystal size is inversely proportional 
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to the peak width. In Table 2.4, the following crystal sizes were obtained for the 

tested membranes applying the Scherrer equation.  

𝐵𝐵 =
𝐾𝐾𝐾𝐾

𝐿𝐿𝐿𝐿𝐿𝐿𝐿𝐿(𝜃𝜃)
 Eq. 2.1 

 

Membrane 1, 2 and 3 show significant growth with increased time on stream and 

with temperature. The growth of crystals can be related to the growth in grain 

size. The growth of the grains can be used to explain the reduction in the hydrogen 

flux for membrane 1, 2 and 3. The diffusion of hydrogen along the grain boundary 

is ~100 times faster than the diffusion through the lattice [31]. The grain growth 

reduces the grain boundary density, hence the decrease in hydrogen flux [32]. 

SEM analysis was performed to confirm the grain growth and further investigate 

the structural changes. 

Table 2.4. Crystal sizes calculated from XRD results. 

Membrane 
Peak 111 Peak 200 

Crystal size (nm) Crystal size (nm) 

1 
 

Pre testing 

 

43.7 

 

33.9 

 used 2000 h 59.3 40.6 

 used 2650 h 72.1 54.1 

2 
 

Pre testing 

 

59.4 

 

52.5 

 used 2000 h 63.8 40.6 

 used 2650 h 63.8 46.3 

3 
 

Pre testing 

 

43.7 

 

46.3 

 used 2650 h 72.1 54.0 

4 
 

Pre testing 

 

16.6 

 

11.4 

 after 715 h (600 °C) 63.8 50.6 

 after FB 1150 h (500 °C) 63.8 47.7 

5 
 

Pre testing 

 

61.4 

 

46.3 

 used 1150 h (500 °C) 59.2 47.7 
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Figure 2.14. XRD profiles of the different membranes before and after testing. 

SEM analysis 

SEM analysis is used to further investigate the changes in the surface of the 

selective layers and to measure the thickness of the membranes, pre and post 

testing. Figure 2.15 shows the evolution of the surface of membrane 1 during the 

long-term test. Prior to the test, a smooth surface with a very small grain size can 

be observed. After 2000 hours of operation and a temperature up to 525 °C the 

grain size is increased, which even further increases after 2650 hours up to 

550 °C. As can be seen, the grain boundary density is decreased and, as 

mentioned before, this can explain the observed decrease in the hydrogen flux. 

Besides the formation of larger grains, the membranes showed the formation of 

small pinholes. The formation of pinholes was relatively pronounced for membrane 
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3, where some of the black spots appear to be holes between the grain 

boundaries. The sizes of these defects, however, do not directly correspond to the 

size of the pinholes found by porometry. This would suggest that below the surface 

there is a narrower pitch between these defects which is measured by the 

porometry, while the growth and agglomeration of the grains results in the 

formation of these defects. Figure 2.17 shows the surface of membrane 4a, where 

the grains show a wide size distribution and seemed to have grown irregularly. 

Also from the porometry test it was concluded that the surface of membrane 4a 

contributes significantly to the nitrogen permeation. Moreover, membranes 1, 2, 

3 and 4a showed an increase in crystal growth from the XRD results. Previous 

works indicated that microstructural changes of the surface result in the formation 

of void spaces [29,33–35]. It can therefore be suspected that the formation and 

connection of these defects resulted in the formation of pinholes, and at higher 

temperatures the more irregular surface deformation increases the number of 

defects formed and thereby the chance of the formation of pinholes. The thickness 

of the selective layer was also measured on a cross-section of the membranes. 

The thickness of the selective layer of membranes 1, 2, 3, 4a and membrane 5 

before fluidization showed no changed compared to the fresh sample thickness of 

4 to 5 microns. 

 
Figure 2.15. SEM pictures of the surface of membrane 1 pre-testing, after 2000 hours and 
after 2650 hours. 
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Figure 2.16. SEM picture of pinholes on the surface of membrane 3 after 2650 h and up to 
550 °C. 

Figure 2.17. SEM picture of surface of membrane 4b after 715 h of operation up to 600 °C 

Membrane 4b that was operated in the fluidized bed was divided into 3 sections 

to inspect the change of the surface along the membrane. In Figure 2.18 the 

surface of the membrane is shown for the three sections at two different 

magnifications, with the flow direction being from the bottom to the top of the 

images. A clear pattern is visible in the flow direction were towards the top the 

pattern becomes less spikey and more flat. The pattern looks like overlapping 

grains, like a fish scale. As mentioned in the discussion of the permeation results, 

the main increase in the nitrogen permeation was found to occur between 450 °C 

and 500 °C. Helmi et al. [36] showed that no significant surface effects were 

visible after fluidization at 400 °C. Therefore, it is expected that the main surface 

deformation took place between 450 °C and 500 °C. It is expected that a 
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combination of operation at the temperatures above 450 °C and the scouring 

action of the fluidized particles result in an increased surface energy. Since the 

palladium layer is ductile and the hardness of the palladium decreases with 

temperature, the increased surface energy could allow ductile deformation of the 

PdAg layer. EDS analyses revealed that the pattern formed on the surface is 

relatively homogeneous in composition indicating more mechanical interactions 

than chemical interactions with the catalyst. Beside the pattern, the surface itself 

also shows many small darker spots. From the EDS results in the dark spots a 

high presence of Al and O was found. Closer inspection showed that the dark spots 

where mainly holes. The high concentration of Al and O could be explained due to 

fines of the catalyst that are stuck in the holes of the surface. The thickness was 

measured with SEM on 4 different points along the membrane, using Figure 2.18 

as a reference, at point A, between A and B, between B and C and at point C. The 

average thickness is shown to decrease from bottom to top with about 1 µm. This 

decrease in thickness seems to corroborate with the leak distribution results that 

showed a larger leakage contribution towards the top of the membrane as a result 

of the increased particle velocity. This shows that the configuration and design of 

a system can significantly affect the stability of the membranes, since the 

hydrodynamics play an important role in the particle velocities. Possible solutions 

to avoid the erosion effects observed in this work can be found in protecting the 

membranes with a porous ceramic layer, as presented in the recent work by 

Arratibel et al. [37].  
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Figure 2.18. Surface effects on membrane 4b after 1150 hours and fluidization up to 500 
°C. 

Figure 2.19. EDS on membrane 4b section B after 1150 hours and fluidization up to 500 
°C. 
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2.4. Conclusions 
In this chapter the long-term stability of thin-film PdAg membranes supported on 

Al2O3 porous supports was investigated. The performance of the membranes has 

been investiged over longer times on stream, assessing the relative contribution 

of the sealings and surface defects at different operating temperatures and with 

or without fluidized catalyst particles. The long-term stability experiments have 

shown an important contribution of leakages through the sealings, especially at 

lower operating conditions, where a reduction in the number of sealings resulted 

in a more stable operation. At temperatures above 500 °C the contribution of 

leakages coming from the surface become more pronounced and larger than the 

leakages through the sealings. The leak rates for the different membranes have 

been reported and can be used as a comparative basis. Post characterization 

showed that the main leakages originate from small pinholes < 55 nm in the 

surface of the membranes. Small surface defects are formed due to the 

agglomeration of Pd grains, while the increased grain size decreases the grain 

boundary density and thus also the hydrogen permeation rate over time. At 

temperatures above 550 °C a wide distribution of grain sizes on the surface is 

observed with a high contribution of surface defects. The results of these high-

temperature experiments showed that when steam reforming is performed at 

temperatures above 500 °C a decrease in the perm-selectivity can be expected.  

The integration of membranes in a fluidized bed up to 450 °C showed no 

significant impact on the stability of the palladium membranes. However, between 

450 °C and 500 °C the membrane surface is significantly affected and the nitrogen 

permeance increases rapidly. Post characterization revealed that the bed 

hydrodynamics play a significant role on the extent of erosion of the membranes 

in the fluidized bed.  

The observations described in this chapter from both the long-term tests and the 

tests in the fluidized bed will be used to select an operation regime and membrane 

handeling during the reforming tests. Furthermore, it can be concluded that 

membrane reactors operated under reforming conditions for hydrogen production 

require improved membranes in terms of thermal stability. For the integration of 

the membranes in fluidized bed membrane reactors, the selective layer of Pd-Ag 
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needs to be protected or its mechanical stability needs to be further improved, 

while simultaneously the design of fluidized bed membrane reactors needs to be 

revisited to further improve the bed hydrodynamics and decrease the scouring 

action of the particles on the membranes. 
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Influence of H2S on thin-film PdAgAu 

membranes 
Pd-based membranes have the potential to be used for hydrogen purification and 

production in membrane reactors. However, the presence of impurities in the 

feedstock, such as H2S can poison the membrane, thus decreasing the hydrogen 

permeation by blocking and deactivating active sites of the Pd-alloy on the 

membrane surface. H2S at high concentrations can even destroy the membrane 

by the formation of Pd4S. It is known that alloying of Pd with Au enhances the 

membrane resistance to H2S. This work reports the performance of six 

PdAg(Au)/Al2O3 supported membranes, prepared by electroless plating combined 

with PVD under exposure to trace amounts (<2 ppm) of H2S. It is shown that the 

Au content does not play a significant role on the flux inhibition at these low 

concentrations. Exposure results suggest a dual influence of physisorbed H2S and 

chemisorbed S species. The observed Langmuir type dependency shows that the 

influence of the partial pressure of hydrogen is negligible on the flux inhibition at 

industrially relevant conditions. In the post characterization the absence of Pd4S 

was shown, however the surface was still affected by the exposure to H2S. 
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3.1. Introduction 
Palladium-based membrane technology has gained significant attention because 

of the high flux and theoretically infinite perm-selectivity towards hydrogen [1]. 

One of the processes that has the potential to become a viable technology utilizing 

Pd-based membranes, is the production of hydrogen from biogas [2]. Biogas 

mainly consists of CH4 and CO2, but also contains some trace components such 

as hydrogen sulphide (H2S) (from 200 to 2000 ppm). The presence of the H2S can 

damage equipment, catalyst and the Pd-based membranes. The hydrogen 

permeation can be decreased by the presence of low concentrations (< 2 ppm) of 

H2S [3]. At higher concentrations of H2S, the formation of Pd4S further decreases 

the flux and can result in the deformation of the palladium lattice, which can create 

pinholes deteriorating the membrane performance [4,5]. Significant efforts have 

been devoted to the understanding of the effects of H2S on the membrane 

properties and in finding a way to increase the H2S resistance of the Pd-based 

membranes. However, with the current status the H2S in biogas, and also natural 

gas or syngas from coal gasification, must be removed before being processed via 

Pd-based membranes. Moreover, the presence of other trace components such as 

siloxanes and NH3 in biogas could affect the equipment in the system such as 

valves, compressors and the catalyst. Therefore, cleaning of the raw biogas 

remains imperative [6]. Technologies such as adsorption, absorption, membrane 

filtration and novel biological desulfurization processes can reduce H2S levels. 

However, these processes may not always reach 100% H2S removal efficiencies 

[7,5], also in view of economic constraints. It is therefore of importance to assess 

the resistance and understand the performance of Pd-based membranes under 

trace concentrations of H2S. 

Increasing the resistance of Pd-based membranes towards H2S inhibition has been 

studied for many years. McKinley identified already in 1967 that gold (Au) or 

copper (Cu) alloyed with the Pd membrane can increase the resistance of the 

membranes by increasing the barrier for the irreversible formation of Pd4S [4,8,9]. 

Several groups have studied the use of ternary membranes, such as PdAuCu and 

PdAgAu [10,11]. Peters et al. identified PdAgAu as an alloy with good properties 

to reduce H2S poisoning [12], influencing the dissociation of H2S by modification 
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of the potential energy surface [13]. However, a very different performance have 

been reported under exposure of H2S [14], which could be related to differences 

in compositions and operating conditions, incomplete alloying, and differences in 

membrane thickness and surfaces of the membranes [15]. 

In this chaper, a set of PdAgAu membranes, with different concentrations of Au, 

have been investigated. The membranes were prepared by a sequential method, 

where first a layer of PdAg was deposited on a porous support by electroless 

plating, followed by PVD deposition of a layer of Au, and after alloying the 

membranes were exposed to hydrogen containing between 0.25 and 2 ppm of 

H2S at 400, 450 and 500 °C. Under these conditions, the H2S is known to inhibit 

the H2 flux mainly by reversible adsorption [3,16]. A Langmuir adsorption 

isotherm is used to describe the inhibiting effects of trace amounts of H2S on the 

hydrogen permeation rate. 

3.2. Materials and methods 

3.2.1. Membrane preparation 

The membranes used in this chapter were prepared by ELP combined with PVD 

magnetron sputtering, as reported in previous papers [17,18]. Alumina tubes 

(10/7 mm o.d/i.d., 70-80 mm long) with an outer Al2O3 top layer (100 nm mean 

pore size) were used as membrane supports (provided by Rauschert Kloster 

Veilsdorf). First, a thin Pd-Ag layer (~4 µm thick) was deposited onto a ceramic 

support as reported in chapter 2. The Ag content determined by inductively 

coupled plasma optical emission spectrometer (ICP-OES) for these membranes 

was 5 wt%. The Pd and Ag deposited on the membrane was calculated from the 

initial and final concentrations of the metals in the plating solution. This 

characterization was carried out for a membrane used as a reference and prepared 

at the same conditions. Then, a thin Au layer was deposited onto the ELP layer by 

DC-Magnetron Sputtering technique using a “Cemecon CC800/8” apparatus. High 

purity (99.99%) Au rectangular plates (200 mm height – 88 mm width – 1.5 mm 

depth) were used as target materials and high purity Ar ionized gas was fed. The 

operating conditions used for the deposition were similar to the ones reported 

elsewhere [17], and the Au content on the final membranes was controlled by 
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adjusting the sputtering time. After the Au deposition by Magnetron Sputtering, 

an annealing treatment was carried out at 550 °C for 24 hours to homogenise the 

selective layer at the same conditions as reported in [11]. After the preparation, 

the membranes were sealed with Swagelok fittings according to the method 

presented by Fernandez et al. [19]. The layer thickness used was estimated from 

the preparation time. In Table 3.1, The Pd and Ag content obtained from the 

plating solution, the estimated Au content, membrane length and the membrane 

thickness of the samples are given in Table 3.1. 

Table 3.1. Pd-Ag-Au membranes used in this study. 

Membranes 

Pd 

estimated 

Ag 

estimated 

Au 

estimated 
Length 

[mm] 

~Layer 

Thickness 

(µm) wt% at% wt% at% wt% at% 

M1 92.6 93.8 4.9 4.9 2.5 1.4 34.8 4 

M2 90.3 92.4 4.8 4.8 5.0 2.8 9.8 4 

M3 90.3 92.4 4.8 4.8 5.0 2.8 39.4 4 

M4 90.3 92.4 4.8 4.8 5.0 2.8 28.4 4 

M5 87.9 91.1 4.6 4.7 7.5 4.2 38.4 4 

M6 87.9 91.1 4.6 4.7 7.5 4.2 34.9 4 

M7 95.0 95.1 5.0 4.9 0 0 36.0 5 

3.2.2. Permeation setup 

Hydrogen permeation experiments were performed in a tube-in-shell 

configuration. The setup is suited to perform permeation experiments under the 

exposure of H2S, a schematic representation of the setup is shown in Figure 3.1. 

A three zone oven was used to heat the reactor, where the temperature was 

controlled by three independent thermocouples, and an additional thermocouple 

was placed inside the membrane tube. The pressure was controlled by a 

Bronkhorst back pressure regulator and monitored both at the retentate and 

permeate side of the membrane. Bronkhorst mass flow controllers were used to 

feed the desired gases (H2, N2, H2/H2S and O2). The H2S was added to the system 

from a bottle containing 10 ppm of H2S in H2 supplied by Linde. The H2 permeance 

was continuously measured using a Bronkhorst mini Cori flow meter. The system 
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was fully automated and controlled by a computer. The N2 permeance was 

manually measured with a Horibastec liquid film flow meter. 

Prior to H2S exposure, the membranes were stabilized at 500 °C in pure H2 in 

order to start the experiments with a stable hydrogen flux. Then, the hydrogen 

permeation at several temperatures in the presence of H2S were measured. 

Subsequently, the H2S adsorbed on the membranes were removed by feeding 

pure hydrogen at 500 °C, and M1, M4, M5 and M7 membranes were step wise 

exposed to different amounts of H2S during one single exposure. All exposures 

were performed at a total pressure of 2 bar(a). 

Figure 3.1. Schematic description of the experimental setup used in this work. 

3.2.3. Post characterization 

After the exposure experiments, a leak test was performed on the membranes, 

by pressurising the permeate side with He. To evaluate the leakage contribution 

the He pressurised membrane was slowly immersed in ethanol. Ethanol blocks the 

small pores and allows identifying in which position of the membranes the leaks 

are concentrated. X-ray photoelectron spectroscopy (XPS) was used to obtain 

surface details. The XPS characterization was performed with a monochromatic 

Thermo Scientific K-Alpha. Spectra were obtained using an aluminium anode (Al 

Kα = 1486.6 eV) operating at 72 W and a spot size of 400 µm and sputtering was 

done with a beam energy of 1000 eV at low current. Etching rate of Ta2O5 

(reference sample) was 0.25 nm s−1, performed with argon sputtering of 3⋅10−7 

mbar, 3000 eV and low current. Samples before and after H2S exposure were 
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analysed. The morphology of the samples after the experiments were analysed 

using a Phenom ProX Scanning Electron Microscope (SEM).  

3.3. Results 

3.3.1. Flux stabilization 

To allow for a stable H2 flux, during the H2S exposure tests, the membranes were 

first activated (removal of burnable contaminants from the surface) by treatment 

for 2 min with a 50:50 mixture of nitrogen and air at 400 °C. The ideal H2/N2 perm 

selectivity was calculated from pure N2 and H2 permeances; the ideal perm 

selectivity of the membranes ranged from 1000 to 5000. The membranes were 

thereafter left in pure H2 at 500 °C and a pressure difference of 1 bar for 72 h. 

From Figure 3.2 it is observed that first the hydrogen permeance was increased 

in time until stable permeation was obtained; membrane 1, having the lowest Au 

content, is the first to reach stable conditions. The increase in the permeance is 

attributed to uncomplete alloying of the membranes, concluding that after 72 

hours all the membranes are completely alloyed. Membrane 7 shows that without 

Au the membrane is found to be stable within 20 hours. Melendez et al. reported 

a stabilization period of 24 hours at 400 °C in pure H2 for a membrane containing 

3.5% Au prepared by sequential ELP method [11]. The authors suggested that 

the Au content can increase the permeation by influencing the adsorption and 

dissociation steps. However, in this work no strong correlation is found between 

the permeance and the Au content. This could be related to slight differences in 

thickness of the selective layer, since from the ELP technique a homogeneous 

thickness cannot be guaranteed. After the hydrogen flux was stable the 

temperature was gradually decreased from 500 °C by 25 °C where a permeance 

test was carried out for each temperature until 400 °C. From these results the 

activation energy and pre-exponential factor were obtained, which are reported 

in Table 3.2 together with the permeability. The measured permeability at 500 °C 

correlates well to what was found by Melendez et al. and Peters et al. for PdAgAu 

membranes, 1.0∙10-8 mol m-1s-1Pa-0.5 at 500 °C and 0.93∙10-8 mol m-1s-1Pa-0.5 at 

450 °C, respectively [12]. The activation energy however, was found to be 

significantly lower than the 16 kJ/mol reported by Melendez et al. and Braun et 

al. [11,20]. The obtained activation energies in this work were closer to the 
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activation energy of 11.3 kJ/mol obtained by Okazaki et al. for a Pd90Au10 

membrane [21]. Au is known to affect the H2 adsorption and dissociation, the 

difference in activation energy might therefore be related to differences in the 

surface concentration of Au. Membrane 7 showed a much lower permeability than 

expected for a PdAg membrane prepared by ELP, which is around 1.5∙10-8 mol 

m-1s-1Pa-0.5 at 400 °C [17].  

 
Figure 3.2. Stabilization of the PdAgAu membrane flux at 500 °C and 1 bar ∆P. 
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Table 3.2. Results from activation energy and pre-exponential factor fitting. 

Membrane M1 M2 M3 M4 M5 M6 M7 

Ea (Activation energy) [kJ/mol] 9.7 14.1 9.5 11.3 9.6 11.0 13.2 

Po (Pre-exponential factor) x10-2 

[mol m-2 s-1 Pa0.5] 
1.30 3.37 1.29 1.54 1.19 1.40 1.42 

Permeability at 500 °C x10-8 

[mol m-1 s-1 Pa-0.5] 
1.30 1.33 1.22 1.14 1.17 1.18 0.75 

3.3.2. H2S exposure 

For the first exposures all membranes were exposed to H2 containing H2S at 1 bar 

pressure difference for 5 hours. After that the feed was switched to pure hydrogen 

and the permeation was monitored for an additional 8 hours. Figure 3.3, Figure 

3.4 and Figure 3.5 show the results changing the Au content, temperature and 

H2S concentration. The results are expressed in terms of the relative H2 flux which 

was obtained by dividing the measured flux by the initial flux in pure hydrogen, 

as shown in Eq. 3.1. 

𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅 𝐻𝐻2 𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 =  
𝐽𝐽𝐻𝐻2
𝑡𝑡

𝐽𝐽𝐻𝐻2(𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 𝐻𝐻2)
0 Eq. 3.1 

The loss of hydrogen permeance is the result of the adsorption of H2S on the Pd 

surface, decreasing the number of active sites available for the adsorption of 

hydrogen (Eq. 3.2); each adsorbed sulphur atom can block 4-13 sites for H2 

adsorption [22,23]. The adsorbed H2S on Pd is unstable and is catalytically 

decomposed into H2 and S (Eq. 3.3) [24]; the strong repulsive interactions of H-S 

and S can result in further blocking of H2 dissociation sites [24,25]. 

𝑃𝑃𝑃𝑃(𝑠𝑠) + 𝐻𝐻2𝑆𝑆(𝑔𝑔)  
⇔𝑃𝑃𝑃𝑃 ∙ 𝐻𝐻2𝑆𝑆(𝑠𝑠) 

(physisorption) 
Eq. 3.2 
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𝑃𝑃𝑃𝑃 − 𝐻𝐻2𝑆𝑆(𝑠𝑠)  
⇔𝑃𝑃𝑃𝑃𝑃𝑃(𝑠𝑠) + 2𝐻𝐻(𝑠𝑠) 

(chemisorption) 
Eq. 3.3 

 

After the incorporation of S into the membrane, sulphides such as PdS, Pd16S7, 

Ag5Pd10S5 and Pd4S can be formed, which depends on the concentration of H2S 

and the temperature [26,27]. The formation of Pd4S is the most probable, as it 

has the lowest free energy of formation [28]. The H2 permeability of Pd4S is 

approximately 20 times less than pure palladium [29]. The formation of Pd4S 

causes an irreversible reduction of the permeance and a failure in the membrane 

due to the formation of defects. The conditions applied in this work were below 

the thermodynamic limit for sulphide formation of pure Pd at 450 °C of 5.67 ppm 

H2S [5].  

 
Figure 3.3. Relative flux during H2S exposure and recovery of M1, M3, M5 and M7 at 
450 °C. 
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Figure 3.4. Relative H2 permeance for membrane M2, M3 and M4 respectively at 400, 450 
and 500 °C.  

 
Figure 3.5. Relative H2 permeance of M5 and M6, respectively exposed to 1 and 2 ppm of 
H2S at 450 °C. 
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From the exposure graphs the decrease was found not to be instantaneous as 

often described in literature [9,30]. Chen et al. and Peters et al. also reported a 

gradual permeation decrease during exposure [3,16]. The retentate concentration 

was monitored and it was found that the decrease during exposure was related to 

the adsorption of H2S on the permeation system, which took some time to 

equilibrate until a constant exposure concentration was obtained, at higher H2S 

concentrations this equilibrium was obtained faster [16]. It was assumed that the 

delay obtained here was also related to the H2S adsorption on the system and the 

relative large size of the reactor compared to the membrane surface in 

combination with the low concentration of H2S resulted in the delay. After 30 

minutes, a sharp decrease followed by a slower decrease in the H2 permeation 

was observed. 

To see the influence of Au content on the H2 flux, the exposure of M1, M3, M5 and 

M7 to 1 ppm of H2S at 450 °C is compared in Figure 3.3. The permeance decrease 

observed for M1 was from 2.67∙10-3 to 1.00∙10-3 mol m-2s-1Pa-0.5 and for M7 from 

1.5∙10-3 to 6.60∙10-4 mol m-2s-1Pa-0.5 corresponding to a relative H2 permeance 

decrease of 0.37 and 0.44 for M1 (0% Au) and M7 (Au 2.5%), respectively. M3 

and M5 decreased to 0.48 and 0.45, respectively. The results of M3 and M5 are 

also shown in Figure 3.4 and Figure 3.5. From these results no clear correlation 

between the permeance decrease and Au content could be observed. The larger 

decrease of M7 could be explained by the low permeability. After H2S exposure, 

pure H2 was introduced into the system producing a slow recovery of the H2 flux. 

After 8 hours of exposure all 4 membranes recovered up to ~0.85 of the value 

before exposure. The physically adsorbed H2S can be relatively easily replaced by 

H2 (Eq. 1), however the chemisorbed sulphur (Eq. 2) is more difficult to be 

removed. The addition of Au has shown to decrease the formation of sulphides 

and to have a higher resistance towards the formation of bulk sulphides [12]. 

However, from Figure 3.4 it can be seen that the extent of the permeance 

decrease or recovery is not much influenced by the Au content. This suggest that 

at these H2S concentrations the main influence on the permeance decrease is the 

adsorbed H2S and not so much the S, S-H and sulphide species therefore the 

influence of Au is not noticeable. Full recovery was achieved for the membranes 

at 500 °C in an additional 12 hours (not shown in this figure). 
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Relative decreases in flux of 0.15 to 0.47 have been reported in literature for 

PdAgAu membranes [22,31,32], however, for H2S exposure concentrations that 

were significantly higher (> 20 ppm of H2S) than applied in this work. In the work 

by Peters et al. [3], a PdAg film was exposed to a trace amount of 2 ppm for a 

period of 1 hour and a period of 10 min resulting in a recovery time of respectively 

2 hours and <1 hour. The recovery time was much longer when exposed to 20 

ppm and 100 ppm of H2S [3]. In the work of Chen et al., an increased duration of 

the exposure resulted in longer recovery times [22].  

To investigate the influence of the H2S exposure temperature, membranes M2, 

M3 and M4 with the same estimated composition (Au 5%) were exposed to 1 ppm 

of H2S for 5 hours at different temperatures (Figure 3.4). The decrease pattern of 

the relative permeation is very similar to that shown in Figure 3.3 However, the 

effect of the inhibition decreases as the temperature increases, as expected since 

the adsorption and possible dissociation of the H2S onto the palladium surface is 

exothermic. The initial permeance for membrane M2, M3 and M4 were 2.53∙10-3, 

2.82∙10-3 and 2.64∙10-3 mol m-2s-1Pa-0.5, respectively. The exposure to 1 ppm H2S 

reduced the H2 permeance to 0.07, 0.48 and 0.53 relative to the original flux for 

M2, M3 and M4, respectively. The highest recovery up to a relative flux of 0.96 

was obtained with M4 at 500 °C, while for membrane M2 at 400 °C the recovery 

reached only 0.63, and full recovery was not possible in a practically achievable 

period at this temperature related to the formation of chemisorbed sulphur [33]. 

Only by going to higher temperatures this chemisorbed sulphur could be removed. 

Chen et al. also showed that, for a PdAu (8% Au) membrane exposed to 54.8 ppm 

of H2S, lower permeance loss was obtained at higher temperatures and more 

permeance could be recovered. 

The influence of the H2S concentration on the H2 permeation rate was investigated 

with membranes M5 and M6 (both with 7.5 % of Au) exposing them to 1 ppm and 

2 ppm of H2S respectively at 450 °C. The results are shown in Figure 3.5. The 

exposure to 2 ppm H2S (M6) causes a faster initial drop in the permeance and a 

higher reduction in the H2 permeation explained by the increased amount of H2S 

adsorbed on the membrane surface. However, the permeation recovery after 8 

hours is almost the same as for M5 (1 ppm H2S), in the same time. The higher 

inhibition in this case did not result in a lower recovery as with M2 at lower 
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temperature. The regeneration and removal of chemisorbed S and S-H species 

seems to be a much slower process in comparison to the relatively fast desorption 

of the physisorbed H2S. Only by increasing the temperature to 500 °C a fast and 

complete flux recovery can be achieved. These results agree with the two 

previously mentioned mechanisms responsible for the decrease in H2 flux by H2S. 

The first one is competitive adsorption between the H2S and H2 molecules for 

dissociation sites. The second is the energy barriers that are formed when the H2S 

is dissociated into H2 and S species. It is the removal of these species that require 

higher temperatures and an extended period of recovery. A third effect that could 

further decrease the flux and even result in failure of the membrane is the 

formation of Pd4S, which in this work is avoided by keeping the conditions bellow 

the thermodynamic equilibrium for the formation of Pd4S. The possible presence 

of Pd4S was evaluated with post characterization, discussed later. 

After the H2S exposure experiments, the membranes M1, M4, M5 and M7 were 

regenerated for 12 hours at 500 °C with pure H2 until they reached >90% of their 

initial permeance. These membranes were used in a sequential incremental 

exposure to five different concentrations of H2S, (0.25, 0.5, 1, 1.5 and 2 ppm). 

Each membrane was exposed to each concentration for 5 hours; these results, 

together with the first results, are summarized in 

Table 3.3. From this table it becomes apparent that after the recovery at 500 °C 

membranes M1, M4 and M8 are close to or even above 1, while membrane M5 

only reached 0.91. These effects can be related to segregation or changes in the 

membrane topography due to the H2S exposures and subsequent regeneration. 

The permeance decreases with increasing H2S concentration as shown before in 

Figure 3.5. Comparing the exposures to 1 ppm H2S from the sequential exposures 

with the first exposure, a slight difference can be observed probably due to small 

fluctuations in the H2S concentration.
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Table 3.3. Relative flux for each membrane for the first exposure and the second sequential exposure after exposure and recovery. 

Membrane 

Relative flux at 450 °C 

First H2S exposure 
After 12h recovery at 

500 °C 

Sequential H2S exposure 

1 ppm 2 ppm 
After 8 h 

recovery 

0.25 

ppm 
0.5 ppm 

1 

ppm 
1.5 ppm 

2 

ppm 

After 8 h 

recovery 

M1 (Au ≈ 2.5%) 0.37 - 0.85 1.00 0.77 0.64 0.43 0.30 0.27 0.91 

M2 (Au ≈ 5%) 0.08* - 0.61* - - - - - - - 

M3 (Au ≈ 5%) 0.48 - 0.80 - - - - - - - 

M4 (Au ≈ 5%) 0.53** - 0.95** 1.05 0.78 0.62 0.45 0.34 0.28 0.94 

M5 (Au ≈ 7.5%) 0.45 - 0.82 0.91 0.64 0.52 0.40 0.30 0.24 0.79 

M6 (Au ≈ 7.5%) - 0.26 0.88 - - - - - - - 

M7 (Au = 0%) 0.44 - 0.84 1.07 0.88 0.74 0.55 0.40 0.34 0.95 

* Relative flux not at 450 °C but at 400 °C

** Relative flux not at 450 °C but at 500 °C 
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To investigate the influence of temperature on the decrease in H2 permeance with 

increasing H2S concentration, membrane M5 was regenerated again for 23 hours 

at 500 °C to reach a relative flux of 1, and then sequentially exposed from 0.25 

to 2 ppm of H2S at 400 °C, 450 °C and 500 °C. After the tests at each temperature 

the membrane was fully regenerated at 500 °C for 20 hours. The results are shown 

in Figure 3.6. The permeance decrease is higher at lower temperatures and seems 

to flatten at higher concentrations probably due to saturation of the active sites 

for adsorption. From the results in  

 

Table 3.3 and Figure 3.6 the influence of the H2S concentration on the inhibition 

becomes clear.  

 
Figure 3.6. Relative H2 permeance of M5 during sequential exposure of different H2S 
concentrations at 400, 450 and 500 °C. 

The Langmuir adsorption model has been used to describe the H2S inhibition of 

Pd membranes [34,35]. In this work the inhibition model proposed by Peters et 

al. was used to evaluate the obtained experimental results [34]. The relative flux 

is compared to the inhibited surface coverage of hydrogen divided by the surface 

coverage of hydrogen for the clean membrane, this yields Eq. 3.4. In this equation 
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θH₂S/H₂ and θH₂ represent the surface coverage with H2S and without respectively, 

PH₂ and PH₂S are the partial pressures of H2 and H2S (in Pa). KH and KS are the 

adsorption coefficients of H2 and S species (in Pa-1). 

𝑅𝑅𝑅𝑅𝑅𝑅𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎 𝐻𝐻2 𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 =
𝜃𝜃𝐻𝐻2𝑆𝑆/𝐻𝐻2
𝜃𝜃𝐻𝐻2

=
1 + �𝐾𝐾𝐻𝐻𝑃𝑃𝐻𝐻2

1 +�𝐾𝐾𝐻𝐻𝑃𝑃𝐻𝐻2 + 𝐾𝐾𝑆𝑆𝑃𝑃𝐻𝐻2𝑆𝑆
Eq. 3.4 

The adsorption equilibrium constant of hydrogen was estimated with the method 

presented by Israni et al., see Eq. 3.5 [36]. This -0.68 eV/molecule is in the range 

(-0.58 to -1.22 eV/molecule) for Pd and PdAg alloys values reported from DFT 

calculations in literature.  

𝐾𝐾𝐻𝐻 = 6.17 ∙ 10−10𝑒𝑒
�
0.68� 𝑒𝑒𝑒𝑒

𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚�
𝑘𝑘𝐵𝐵𝑇𝑇
� � Eq. 3.5 

KH is then used in Eq. 3.4 to obtain KS for the results shown in Figure 3.6, the 

fitting obtained is shown in Figure 3.7. The KS obtained from the fitting was used 

to obtain the activation energy shown in Eq. 3.6. The activation energy of -1.12 

eV/molecule, is close to the -1.20 eV for co-adsorption of S and H reported by 

Peters et al.  

𝐾𝐾𝑆𝑆 = 1.78 ∙ 10−7𝑒𝑒
�
1.12 ( 𝑒𝑒𝑒𝑒

𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚)
𝑘𝑘𝐵𝐵𝑇𝑇
� � Eq. 3.6 
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Figure 3.7. M5 Relative H2 flux vs H2S concentration, where the markers indicated the 
experimental points and dotted lines the relative flux description.  

In practical applications the fraction of hydrogen with respect to the concentration 

of H2S is however much lower than in most literature and these experiments. The 

implication of Eq. 3.4 and the fitted parameters of Eq. 3.5 and Eq. 3.6 is that the 

influence of the hydrogen fraction is negligible. This is also confirmed with the 

results of a similar permeation experiment on M5, however in this case performed 

with a 75% H2 in N2 mixture, at 450 °C. In Figure 3.8 this experiment shows a 

good agreement with the description relative flux description obtained from Eq. 

3.4. It should however be considered that the thermodynamic limit for Pd4S 

formation is lowered with a decrease in the partial pressure of hydrogen [5]. The 

negligible influence of the partial pressure of hydrogen implies that the influence 

of H2S increases with the total pressure, as shown in Figure 3.9.  
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Figure 3.8. Parity plot for the experiments applied in the fitting (open dots) and 
experiments performed with a 75% H2 in N2 mixture in hydrogen. 

Figure 3.9. Model estimation of the influence of pressure on the H2S flux inhibition at 
450 °C.  
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3.3.3. Post characterization 

It is often reported in the literature that the selectivity decreases when the Pd-

based membranes are exposed to H2S. This decrease is often related to the 

formation of Pd sulphides (mainly Pd4S) that results in changes of the alloy lattice 

producing cracks in the membrane. The ideal perm-selectivity of the membranes 

investigated in this work ranged initially from 1000 to 5000 except for membrane 

M3 which was 297, which was mainly due to leakages from the sealing. The 

membranes showed, after testing, a leak increase of 30% on average, which could 

be related to leakages from the sealing, which was observed for some of the 

membranes when immersed in ethanol and pressurised on the permeate side with 

He. 

XPS analyses were performed on the tested samples. The Pd3d, Ag3d, Au4f and S2p 

core level spectra of the surface of each membrane was evaluated. No clear peaks 

for S0 2P1/2 or S0 2p3/2 were observed in the S2p spectra. This indicates that no PdxS 

was present in the samples. The depth profile of membrane M3 is shown in Figure 

3.10 after preparation and after H2S testing. The results for the other membranes 

were very comparable to the profile of M3. The average concentration on the 

surface obtained from the XPS analyses is shown in Table 3.4 together with the 

composition after 1000 s of sputtering. The 1000 s is estimated to correspond to 

around ~1% of the selective layer. On average over the first 100 s of sputtering 

the fraction of palladium on the surface is higher than towards the bulk of the 

layer, indicating a slight migration of Pd towards the surface.  
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Figure 3.10. XPS depth profile of M3 after preparation and after testing. 

Table 3.4. XPS measurement surface composition and composition after 1000 s sputtering 
of the membrane in mass %.  

Membrane 
Surface composition [mass%] 

Composition after 1000 s 

 [mass %] 

Pd Ag Au Pd Ag Au 

M1 (Au ≈ 2.5%) 87.7 11.5 0.8 85.1 12.4 2.6 

M2 (Au ≈ 5%) 80.8 17.0 2.2 81.9 13.1 5.0 

M3 (Au ≈ 5%) 80.0 17.4 2.6 84.2 11.2 4.7 

M4 (Au ≈ 5%) 81.4 16.8 1.8 81.3 14.1 4.6 

M5 (Au ≈ 7.5%) 83.5 14.1 2.4 87.7 7.8 4.6 

M6 (Au ≈ 7.5%) 79.6 15.6 4.8 82.1 10.1 7.8 

M7 (Au = 0%) 88.2 11.8 - 93.4 6.6 - 

The surface of the membranes was investigated by SEM after preparation and 

after the H2S exposures. A clear difference could be observed between the 
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membranes that were only exposed to a single H2S exposure of 5 hours (M2, M3 

and M6). The membranes which were regenerated and used again showed a 

rougher topography with larger particle like grains. This could be best observed 

comparing M5 and M6 as shown in Figure 3.11A and Figure 3.11B. A grain 

formation similar to that observed for M5 has been reported by Melendez et al. 

and was related to the formation of Pd4S [11]. In this work however, no indication 

of Pd4S was observed from the XPS results, it is expected that the formation of 

these grains is a result of the migration of the palladium or the chemisorbed H2S, 

which was completely removed during the regeneration, but may have resulted in 

the deformation of the membrane surface. The rate of these effects might be very 

slow, and due to the longer time of exposure of M5 more evident than for M6. 

Excessive transformation of the membrane surface could lead to the formation of 

pinholes, which could in the end significantly decrease the selectivity. 

 
Figure 3.11. SEM picture of the surface of M5(A) after several H2S exposure and M6(B) 
after a single H2S exposure. 

3.4. Conclusions 
In this paper six PdAgAu membranes and PdAg membrane have been prepared 

and the effect of small amounts of H2S (< 2 ppm) in the H2 feed on the hydrogen 

permeation fluxes were studied. The PdAgAu membranes were prepared by 

sequential ELP and PVD deposition, and had an Au content ranging from 2.5% to 

7.5%. The membranes were sealed and stabilized at 500 °C for 72 h in a hydrogen 
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environment during this period, stable hydrogen permeation was obtained 

suggesting that complete alloying was achieved. The membrane with the lower 

Au content reached stable conditions in the shortest amount of time. After the 

stabilization the membranes were exposed to up to 2 ppm of H2S, which is below 

the thermodynamic limit for formation of palladium sulphides; therefore, the 

inhibition was reversible. The membranes showed a relative flux decrease of 

around 50%. The extent of this decrease in H2S flux was shown to be influenced 

both by temperature, due to the exothermic nature of H2S adsorption, and the 

H2S concentration. Four of the membranes were selected and were fully recovered 

to the initial membrane flux and were subsequently exposed to sequentially 

increased H2S concentrations. The decrease in flux of these membranes did not 

show a correlation with the Au content, in this work the increase of Au content did 

not show beneficial results with respect to H2S exposure. It is suggested that at 

these low concentrations of H2S, the physisorption of H2S is dominating while at 

higher concentrations the effect Au addition could be beneficial since than the 

effects of S-H, S and sulphide species on the H2 dissociation are more pronounced. 

With a Langmuir term the measured inhibition of H2 permeation flux by H2S could 

be well described. The influence of the partial pressure of hydrogen was found to 

be negligible on the inhibition at low pressures, while it was shown that the fitted 

inhibition parameters indicate that at higher operating pressures the total 

pressure has a very significant influence and this should be studied in more detail, 

since the desired operation regimes for industrial application of these membranes 

are at elevated pressures. The post characterization showed that no sulphide 

formation was present at these membranes after the tests, as expected, since the 

H2S tests were carried out at conditions below the thermodynamic limit of Pd4S 

formation. Studies over the past decades has shown that the resistance towards 

the Pd4S formation can be improved by alloying with Au. However, the work in 

this chapter shows au addition is not sufficient to limit the effects of inhibition and 

structural changes of the membrane. Therefore, the approach of avoiding contact 

between the H2S and the membrane should be considered, as this will both avoid 

deterioration of the membrane and inhibition of the membrane flux. 
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Biogas steam reforming: 

modelling and experimental validation 

Biogas as feedstock for the production of hydrogen imposes challenges for the 

reforming process. In this chapter the integration of catalyst and membranes 

under biogas reforming is studied. A phenomenological one-dimensional two-

phase fluidized bed reactor model accounting for mass transport towards the 

membranes with a stagnant film model has been developed and used to 

investigate the system performance. The validation of the model was performed 

with steam reforming experiments. The model results were in good agreement 

with the experimental results, when assuming a thickness of the stagnant mass 

transfer boundary layer around the membrane equal to 0.54 cm. It is shown the 

effects of concentration polarisation in a fluidized bed membrane reactor can be 

well described with the implementation of a film layer description in the two-phase 

model.
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4.1. Introduction 
Biogas is produced from biomass mainly through anaerobic digestion of organic 

substrates (manure, sewage sludge, organic fractions of industry waste and 

energy crops) [1]. The composition of biogas varies significantly depending on the 

source of biomass. Typical biogas compositions from an anaerobic digester and 

landfill production are shown in Table 4.1. 

Table 4.1. Anaerobic digestion or landfill biogas composition [2]. 

Component AD biogas Landfill biogas Unit 

CH4 53-70 30-65 vol% 

CO2 30-50 25-47 vol% 

N2 2-6 <1-17 vol% 

O2 0-5 <1-3 vol% 

H2 N/A 0-3 vol% 

CxHy N/A N/A vol% 

H2S 0-2000 30-500 ppm 

NH3 <100 0-5 ppm 

Chlorines <0.25 0.3-225 mg Nm3 

Siloxane <0.08-0.5 µg/g-dry 

The methane in the biogas can be converted into a hydrogen rich gas by steam 

reforming (SR): methane reacts with steam at high temperatures over a nickel-

based catalyst to produce CO and H2 via the Steam Methane Reforming reaction 

(SMR), Eq. 4.1. To increase the hydrogen yield this process is combined with 

Water Gas Shift (WGS), Eq. 4.2. Because of the high CO2 content, Dry Reforming 

(DR), Eq. 4.3, is likely to take place as well. 

𝐶𝐶𝐶𝐶4 +𝐻𝐻2𝑂𝑂  
⇔𝐶𝐶𝐶𝐶 + 3𝐻𝐻2   ∆𝐻𝐻𝑟𝑟𝑜𝑜 = +206 𝑘𝑘𝑘𝑘 𝑚𝑚𝑚𝑚𝑚𝑚−1 Eq. 4.1 

𝐶𝐶𝐶𝐶 + 𝐻𝐻2𝑂𝑂  
⇔𝐶𝐶𝐶𝐶2 + 𝐻𝐻2   ∆𝐻𝐻𝑟𝑟𝑜𝑜 = −41 𝑘𝑘𝑘𝑘 𝑚𝑚𝑚𝑚𝑚𝑚−1 Eq. 4.2 

𝐶𝐶𝐶𝐶4 + 𝐶𝐶𝐶𝐶2  
⇔2𝐶𝐶𝐶𝐶 + 2𝐻𝐻2    ∆𝐻𝐻𝑟𝑟𝑜𝑜 = +247 𝑘𝑘𝑘𝑘 𝑚𝑚𝑚𝑚𝑚𝑚−1 Eq. 4.3 
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The reforming of methane is highly endothermic and requires high temperatures 

(800 - 1000 °C) and is favoured at low pressures. Moreover, to obtain high purity 

hydrogen from the SR process, downstream separation and purification steps are 

required. The application of biogas in the SR process has significant challenges: 

(i) the combination of the nickel catalyst and high operation temperatures makes 

the system prone to coking, (ii) the high CO2 content of biogas induces equilibrium 

limitations and (iii) the presence of H2S even if present in trace amounts requires 

intensive cleaning of the biogas. The development of reforming catalysts with a 

high resistance to carbon formation have increased the potential for hydrogen 

production from biogas [3]. Noble metal catalysts, such as Rh, Ru, Pt and Pd show 

a high activity and selectivity for hydrogen production [4]. Generally Rh has been 

found to have the best performance along the different noble metal catalysts. To 

remove the H2S, the biogas can be upgraded by cleaning using e.g. pressurized 

water scrubbing, pressure swing adsorption, amine absorption or membrane 

absorption [2]. However, these methods significantly increase the energy 

consumption and costs of hydrogen [2]. Previous works investigated the 

application of biogas steam reforming in a membrane reactor [5–7]. Sato et al. 

[5] identified the membrane reactor as a promising technology for hydrogen 

production from biogas. In this work, steam reforming of a biogas mixture derived 

from supercritical water gasification of glucose was performed using a PdAg 

supported on stainless steel membrane in a fixed bed containing a Ru/Al2O3 

catalyst. Iulianelli et al. [6] studied the steam reforming of biogas in a Pd-based 

membrane on a porous Al2O3 support over a Ni catalyst. Methane conversion of 

34% and separation of the produced hydrogen up to 70% were reported. 

However, the process required regeneration of the catalyst deactivated by carbon 

formation, and the hydrogen purity was decreased rapidly due to the formation of 

pinholes. Vasquez et al. [7] investigated the effect of the temperature and 

pressure on the steam reforming in a fixed bed and described their experiments 

with a one-dimensional model. However, the use of fixed-bed reactors has some 

drawbacks, in particular when applied to membrane reactors with high fluxes. First 

of all, the poor heat transfer in the packed bed results in large temperature 

gradients, which can be detrimental for the membrane flux and membrane 

stability. Moreover, when high-flux membranes are used, mass transfer 

limitations from the bulk to the membrane wall, known as concentration 
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polarisation (CP), become dominant and negatively impact the reactor 

performance [8,9]. CP, is a depletion of the permeable species at the wall resulting 

in a lower driving force. As shown in the schematic description in Figure 4.1, the 

higher permeability of the membrane compared to the mass transfer results in a 

concentration gradient towards the membrane. The region in which the hydrogen 

concentration differs from the bulk concentration is referred as the concentration 

polarization layer. 

Figure 4.1. Schematic representation of concentration polarization in a fluidized bed 
membrane reactor.  

These aspects can be reduced by using fluidized bed membrane reactors, which 

have significantly higher heat and mass transfer rates compared to fixed bed 

membrane reactors, resulting in advantages in terms of heat management and a 

much more even temperature distribution [10]. Moreover, it is expected that the 

higher mass transfer rates also result in a reduction of the concentration 

polarisation. However, the concentration polarisation is still expected to influence 

the system performance significantly and needs to be accounted for in the design 

of the reactor. 

This chapter evaluates the performance of a fluidized bed membrane reactor for 

biogas steam reforming and the influence of concentration polarisation on the 

system performance. The effect of concentration polarisation is first analysed 
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experimentally for hydrogen/nitrogen mixtures with and without the fluidized bed. 

The steam reforming of synthetic biogas mixtures (mainly CO2 and CH4) as well 

as pure methane is evaluated for temperatures between 430 °C and 530 °C and 

pressures up to 5 bar. The results are discussed, followed by the description and 

validation of a developed phenomenological, one-dimensional, two-phase fluidized 

bed membrane reactor model. The model is then used to quantify the influence of 

the concentration polarisation and its significance for the design of fluidized bed 

membrane reactors for biogas reforming. 

4.2. Experimental  

4.2.1. Experimental setup 

Single and mixed gas permeation tests to characterize the membrane 

performance and reforming experiments, were conducted in a membrane reactor 

consisting of a shell-and-tube configuration (see Figure 4.2) where the reactor 

has a diameter of 4.27 cm and a total length of 44 cm. The membrane is made of 

a thin Pd-Ag layer deposited by electroless plating onto an alumina porous tube 

obtained from Rauschert. The membrane was sealed using the graphite sealing 

method developed by Fernandez et al. and the leakage was subsequently 

measured using an helium/ethanol system [11]. The length of the membrane was 

14.35 cm and its diameter 14.26 mm, resulting in a total membrane surface area 

of 64.3 cm2. The membrane thickness was measured by SEM (Phenom) analysis 

on a cross section of the membrane and was found to be 5.2 µm. The membrane 

was integrated from the top flange of the reactor with a stainless-steel tube, such 

that 2 cm remained between the bottom gas distributor and the bottom 

membrane seal. Single and mix gas experiments were performed first without 

catalyst particles, here referred to as empty tube. After these experiments the 

catalyst, a Rh-based catalyst supplied by Johnson Matthey (average particle size 

of 170 µm), was loaded into the reactor to perform the mix gas tests under 

fluidized conditions and subsequently the (steam) reforming experiments. The 

reactor system could be operated in two configurations, viz. as a normal fluidized 

bed reformer and as a fluidized bed membrane reactor, simply by opening and 

closing of the membrane permeate line. The minimum fluidization velocity of the 

catalyst was experimentally determined at different temperatures and 



86 | C h a p t e r  4  

atmospheric pressure using the standard pressure-drop method. The feed flow 

rate for reactive experiments was selected in such a way that the fluidized bed 

was in the bubbling fluidization regime. The amount of catalyst was selected to 

cover the full active membrane surface, resulting in 165 g of catalyst. The reactor 

was placed inside an oven to ensure isothermal operation. In the reforming 

experiments the temperature, pressure and feed gas composition were varied. 

The system performance was evaluated in terms of methane conversion (Eq. 4.4), 

separation factor (SF, Eq. 4.5) and hydrogen recovery factor (HRF, Eq. 4.6) as 

defined below: 

𝑀𝑀𝑀𝑀𝑀𝑀ℎ𝑎𝑎𝑎𝑎𝑎𝑎 𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 =  
𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖 − 𝐹𝐹𝐶𝐶𝐶𝐶4,𝑜𝑜𝑜𝑜𝑜𝑜

𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
Eq. 4.4 

𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆 𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 =  
𝐹𝐹𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑚𝑚

𝐹𝐹𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 + 𝐹𝐹𝐻𝐻2,𝑟𝑟𝑟𝑟𝑟𝑟
Eq. 4.5 

𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻 𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟𝑟 𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓𝑓 =  
𝐹𝐹𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝

4𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
 Eq. 4.6 

The gas feed to the reactor was controlled by Bronkhorst® digital mass flow 

controllers. The feed of water was controlled by a Bronkhorst® Coriflow liquid 

meter and steam was produced using a Bronkhorst® controlled evaporator mixer. 

The pressure was controlled by a back-pressure regulator supplied by 

Bronkhorst®. The permeate side was either operated at atmospheric pressure or 

at vacuum. The volumetric flow rate at the permeate side was measured using a 

Horiba film flow meter. The composition of both the permeate and retentate 

streams were measured using a Varian micro GC equipped with two molecular 

sieve 5A columns and a PoraPlot Q column. The retentate flow rate is obtained 

from the nitrogen balance. The carbon balance was satisfied with ±5% error for 

all experiments reported hereafter.  
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Figure 4.2. Schematic representation of the experimental setup. 

4.2.2. Membrane performance characterization 

Once the membrane was placed in the reactor, the nitrogen leakage was 

monitored periodically. To activate the membrane, the system was heated up to 

400 °C in nitrogen, once at this temperature the membrane was exposed to 2 

Nl/min of air for 2 minutes. Subsequently, the system was flushed with nitrogen 

and heated up to 550 °C and left in a hydrogen environment until a stable 

hydrogen flux was obtained. After reaching stable conditions, the permeation tests 

were performed decreasing the oven temperature from 550 °C to 400 °C with 

steps of 50 °C; the results are shown in Figure 4.3. The hydrogen permeability of 

the membrane could be well described as a function of the driving force using an 

exponent n equal to 0.5 (i.e. Sieverts’ law), as shown in Figure 4.3. An activation 

energy and a pre-exponential factor of respectively 9.23 kJ/mol and 4.57∙10-8 mol 

m-1 s-1 Pa-0.5 were fitted to the experimental data. These values are comparable 

with the 9.99 kJ/mol  and 6.93∙10-8 mol m-1 s-1 Pa-0.5 reported earlier by Fernandez 

et al. for a similar membrane [12]. The initial H2/N2 ideal perm-selectivity was 

found to be 18000 at 545 °C and 4576 at 384 °C with a transmembrane pressure 

difference of 1 bar.  
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Figure 4.3. Single gas test permeation results of hydrogen. 

4.2.3. Model description 

The reactor model developed in this work describes a membrane fluidized bed 

section in which a dead-end perm-selective membrane can be integrated. It is an 

improvement of the model described by Gallucci et al. [13]. The model was firstly 

developed by Deshmukh et al. and based on the frequently used bubble 

assemblage model proposed by Kato and Wen [14,15]. In this approach, both the 

bubble and emulsion phases are divided into a number of CSTRs along the reactor. 

In particular, Kato and Wen related the volume of the CSTR to the local bubble 

size, whereas Deshmukh et al. adopted a different approach where the CSTRs all 

have the same volume and the number of CSTRs is used describe the amount of 

gas back mixing in the system [14,16]. The steady state overall (bubble and 

emulsion phases) component mass conservation equations, the total volume 

balance and the overall balances for each component used in the model are 

formulated in Table 4.2. These equations consider the chemical transformations 

in the emulsion phase and a net gas production due to the chemical reactions and 

gas extraction via the membrane. The equations are solved for each section in the 

fluidized bed reactor. Since the introduction of membranes reduces the extent of 

back mixing, a large number of CSTRs is selected representing plug flow 
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behaviour. The empirical correlations for the description of the system 

hydrodynamics and mass transfer are obtained from literature and are described 

in Appendix I [15,17–19]. Although these equations are developed for fluidized 

beds without membranes, it is shown in prior works that a reasonable description 

of the system with immersed membranes can also be obtained [13,16]. The 

chemical reactions are described using the kinetic rate laws by Numaguchi and 

Kikuchi for the steam reforming and water gas shift reactions [20]. The kinetic 

parameters for the Rh based catalyst are obtained from Marra et al. [21]. The rate 

expressions and kinetic parameters are provided in Appendix II. Because of the 

high steam-to-carbon ratio applied in the experimental conditions the dry 

reforming reaction can be assumed to be of negligible influence in the reaction 

system. This was also confirmed by separate kinetic tests reported in Appendix 

III. Moreover, it was shown that the kinetics did not play a significant role on the 

experimental results due to the high catalyst activity. 
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Table 4.2. Mass balance equations for each CSTR in each section of the fluidized bed 
membrane reactor [22]. 

Total mass balance 

𝑢𝑢𝑏𝑏,𝑛𝑛−1
𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑏𝑏,𝑛𝑛−1 − 𝑢𝑢𝑏𝑏,𝑛𝑛

𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑏𝑏,𝑛𝑛 + 𝑢𝑢𝑒𝑒,𝑛𝑛−1
𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑒𝑒,𝑛𝑛−1 − 𝑢𝑢𝑒𝑒,𝑛𝑛

𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑒𝑒,𝑛𝑛

+�(𝑁𝑁𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚

𝑛𝑛𝑐𝑐

𝑖𝑖=1

𝑀𝑀𝑤𝑤,𝑖𝑖𝐴𝐴𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝜀𝜀𝑏𝑏,𝑛𝑛

+𝑁𝑁𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑀𝑀𝑤𝑤,𝑖𝑖𝐴𝐴𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚(1− 𝜀𝜀𝑏𝑏,𝑛𝑛)) = 0 

Bubble phase component mass balance 

𝑢𝑢𝑏𝑏,𝑛𝑛−1
𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑏𝑏,𝑛𝑛−1 − 𝑢𝑢𝑏𝑏,𝑛𝑛

𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑏𝑏,𝑛𝑛 −�𝐾𝐾𝑏𝑏𝑏𝑏,𝑖𝑖,𝑛𝑛

𝑛𝑛𝑐𝑐

𝑖𝑖=1

𝑉𝑉𝑏𝑏,𝑛𝑛𝜌𝜌𝑏𝑏,𝑛𝑛�𝑤𝑤𝑏𝑏,𝑖𝑖,𝑛𝑛 − 𝑤𝑤𝑒𝑒,𝑖𝑖,𝑛𝑛�

+�𝑁𝑁𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑀𝑀𝑤𝑤,𝑖𝑖𝐴𝐴𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝜀𝜀𝑏𝑏,𝑛𝑛

𝑛𝑛𝑐𝑐

𝑖𝑖=1

+ �𝑤𝑤𝑒𝑒,𝑖𝑖,𝑛𝑛𝐻𝐻𝐻𝐻𝐻𝐻(𝑄𝑄) −𝑤𝑤𝑏𝑏,𝑖𝑖,𝑛𝑛𝐻𝐻𝐻𝐻𝐻𝐻(−𝑄𝑄)� = 0 

Emulsion phase component mass balance 

𝑢𝑢𝑒𝑒,𝑛𝑛−1
𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑒𝑒,𝑛𝑛−1 − 𝑢𝑢𝑒𝑒,𝑛𝑛

𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑒𝑒,𝑛𝑛 + �𝐾𝐾𝑏𝑏𝑏𝑏,𝑖𝑖,𝑛𝑛

𝑛𝑛𝑐𝑐

𝑖𝑖=1

𝑉𝑉𝑏𝑏,𝑛𝑛𝜌𝜌𝑏𝑏,𝑛𝑛�𝑤𝑤𝑏𝑏,𝑖𝑖,𝑛𝑛 − 𝑤𝑤𝑒𝑒,𝑖𝑖,𝑛𝑛�

+ �𝑁𝑁𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑀𝑀𝑤𝑤,𝑖𝑖𝐴𝐴𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚�1− 𝜀𝜀𝑏𝑏,𝑛𝑛�

𝑛𝑛𝑐𝑐

𝑖𝑖=1

− �� 𝜐𝜐𝑗𝑗,𝑖𝑖𝑟𝑟𝑗𝑗

𝑛𝑛𝑟𝑟𝑟𝑟𝑟𝑟

𝑗𝑗=1

�𝑉𝑉𝑒𝑒,𝑛𝑛𝜌𝜌𝑝𝑝,𝑛𝑛(1 − 𝜀𝜀𝑒𝑒)

+ �𝑤𝑤𝑒𝑒,𝑖𝑖,𝑛𝑛𝐻𝐻𝐻𝐻𝐻𝐻(𝑄𝑄) −𝑤𝑤𝑏𝑏,𝑖𝑖,𝑛𝑛𝐻𝐻𝐻𝐻𝐻𝐻(−𝑄𝑄)� = 0 
Transfer term 

𝑄𝑄 = 𝑢𝑢𝑒𝑒,𝑛𝑛−1
𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑒𝑒,𝑛𝑛−1 − 𝑢𝑢𝑒𝑒,𝑛𝑛

𝑠𝑠 𝐴𝐴𝑇𝑇𝜌𝜌𝑒𝑒,𝑛𝑛

+ �𝐾𝐾𝑏𝑏𝑏𝑏,𝑖𝑖,𝑛𝑛

𝑛𝑛𝑐𝑐

𝑖𝑖=1

𝑉𝑉𝑏𝑏,𝑛𝑛𝜌𝜌𝑏𝑏,𝑛𝑛�𝑤𝑤𝑏𝑏,𝑖𝑖,𝑛𝑛 − 𝑤𝑤𝑒𝑒,𝑖𝑖,𝑛𝑛�

± �𝑁𝑁𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚
𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑀𝑀𝑤𝑤,𝑖𝑖𝐴𝐴𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚�1− 𝜀𝜀𝑏𝑏,𝑛𝑛�

𝑛𝑛𝑐𝑐

𝑖𝑖=1

 

where 
𝑢𝑢𝑏𝑏,0
𝑠𝑠 𝐴𝐴𝑇𝑇 = 𝑢𝑢𝑡𝑡𝑡𝑡𝑡𝑡𝐴𝐴𝑇𝑇𝜀𝜀𝑏𝑏,0 
𝑢𝑢𝑒𝑒,0
𝑠𝑠 𝐴𝐴𝑇𝑇 = 𝑢𝑢𝑡𝑡𝑡𝑡𝑡𝑡𝐴𝐴𝑇𝑇�1−𝜀𝜀𝑏𝑏,0� 

𝑢𝑢𝑒𝑒,𝑛𝑛
𝑠𝑠 𝐴𝐴𝑇𝑇 = 𝑢𝑢𝑒𝑒,𝑛𝑛𝐴𝐴𝑇𝑇�1− 𝜀𝜀𝑏𝑏,𝑛𝑛� 
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The selective extraction of hydrogen in the model is described by Sieverts’ law, 

Eq. 4.7, using the experimentally obtained parameters of the membrane.  

𝑁𝑁𝑖𝑖 =
𝑃𝑃0
𝑡𝑡
𝑒𝑒
−𝐸𝐸𝑎𝑎

𝑅𝑅𝑅𝑅� �𝑃𝑃𝐻𝐻2,𝑟𝑟𝑟𝑟𝑟𝑟
𝑛𝑛 − 𝑃𝑃𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝

𝑛𝑛 � Eq. 4.7 

 

When describing hydrogen extraction from a mixture through a highly selective 

and permeable membrane, Sieverts’ law is found to be insufficient to predict the 

transmembrane flux [23,24]. Due to the depletion of the permeable species near 

the membrane and accumulation of the non-permeable species, a mass transfer 

boundary layer is formed along the membrane (phenomena known as 

concentration polarisation). To account for the mass transfer limitations induced 

and accurately describe the membrane permeation, the concentration at the 

membrane surface is required. In this work, the stagnant film model is applied to 

determine the concentration at the membrane surface [25]. In the stagnant film 

model, the following assumptions are applied: 

• Steady state conditions; 

• No axial convection in the film layer; 

• No axial dispersion, only radial dispersion. 

• The thickness of the stagnant film is assumed to remain constant along 

the length of the membrane.  

The boundary layer thickness is indicated with δ, see Figure 4.4. The steady state 

mass balance of the shell around a cylindrical membrane in the radial direction, 

as shown in Figure 4.4, leads to Eq. 4.8, where Ni,r is the flux in the radial direction. 
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Figure 4.4. Schematic description of the film around the membrane. 
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𝑟𝑟𝑁𝑁𝑖𝑖,𝑟𝑟� = 0 Eq. 4.8 

 

The total flux through the film layer in the radial direction can be written as the 

sum of the drift flux and diffusive mole flux, Eq. 4.9, using the generalised Fick’s 

law, where Di represents the effective diffusivity of component i, Ctot the total 

concentration and xi the mole fraction of component i 

𝑁𝑁𝑖𝑖,𝑟𝑟 = −𝐷𝐷𝑖𝑖𝐶𝐶𝑡𝑡𝑡𝑡𝑡𝑡
𝑑𝑑𝑑𝑑𝑖𝑖
𝑑𝑑𝑑𝑑

+ 𝑥𝑥𝑖𝑖𝑁𝑁𝑡𝑡𝑡𝑡𝑡𝑡 Eq. 4.9 

 

Since the membrane can be approximated as fully permselective for H2, Ntot equals 

Ni,r, so further rearranging Eq. 4.9 leads to Eq. 4.10. 

𝑁𝑁𝑖𝑖,𝑟𝑟 = −𝐷𝐷𝑖𝑖𝐶𝐶𝑡𝑡𝑡𝑡𝑡𝑡
1

1 − 𝑥𝑥𝑖𝑖
𝑑𝑑𝑑𝑑𝑖𝑖
𝑑𝑑𝑑𝑑

 Eq. 4.10 
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From the steady state mass balance, it follows that the term rNi,r is constant over 

the layer. 

𝑟𝑟𝑟𝑟𝑖𝑖,𝑟𝑟 = 𝑐𝑐     at      𝑟𝑟 = 𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚. + 𝛿𝛿 , 

 
 𝑁𝑁𝑖𝑖,𝑟𝑟 = 𝑁𝑁𝑖𝑖,𝑟𝑟𝑚𝑚+𝛿𝛿 

Eq. 4.11 

 

Combining this and Eq. 4.10 and integrating over the boundary layer of thickness 

δ yields Eq. 4.12 

𝑁𝑁𝑖𝑖,𝑟𝑟𝑚𝑚 = − 𝐷𝐷𝑖𝑖𝐶𝐶𝑡𝑡𝑡𝑡𝑡𝑡
𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.𝑙𝑙𝑙𝑙�1 + 𝛿𝛿

𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.
�
𝑙𝑙𝑙𝑙�

1−𝑥𝑥𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.
1−𝑥𝑥𝑖𝑖,𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏

� 
Eq. 4.12 

 

Since the flux through the film layer and membrane are equal, Eq. 4.12 can be 

used to determine xi,memb, and obtain the partial pressure of hydrogen at the 

surface of the membrane. 

4.3. Results and discussion 

4.3.1. Permeation of N2 and H2 mixtures 

Gas permeation experiments were performed to determine the influence of the 

concentration polarisation on the membrane separation and to validate the 

implementation of the stagnant film in the model. Hydrogen permeation in the 

empty tube system (no catalyst bed) from a 75% H2/N2 mixture was measured at 

different total pressures. After these experiments the catalyst was loaded into the 

system. The presence of the catalyst should not influence the hydrogen 

permeation from a pure hydrogen mixture. However, the experiment with the 

75% H2/N2 mixture showed that the flux was increased compared to the empty 

tube system. In Figure 4.5, the experimental results are shown together with the 

model results. 

The extent of the concentration polarisation can be represented by the 

Concentration Polarisation Coefficient (CPC). Several definitions of the CPC exist 
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in literature; however, in this work the definition presented by Caravella et al. is 

used [23], taking the logarithmic average into account in determining the pressure 

difference over the module. The CPC for both the results of the empty and fluidized 

bed system permeation tests are shown in Figure 4.6. The concentration 

polarisation coefficient is reduced by the introduction of the fluidized bed from 

0.41 to 0.32 at 3 bar, and at 5 bar is decreased from 0.52 to 0.34. 

Because the model without concentration polarisation does not take mass transfer 

limitations into account, the hydrogen flux is over-predicted. This shows that a 

description taking the concentration polarisation into account is indeed required 

in the model. To describe the permeation results in the empty tube system, a δ 

of 1.125 cm was fitted to the experiment at 4 bar total pressure. In the work of 

Helmi et al. [26] it is shown that the radial dispersion in the fluidized bed is larger 

than the molecular gas diffusion coefficient Di. Since there is no general correlation 

available for the radial dispersion in membrane fluidized beds its value was 

estimated using CFD simulations at 1∙10-4 m2/s, which was also adopted in this 

work. Accordingly, a δ of 0.975 cm was found to correctly describe the hydrogen 

flux. The increase in the hydrogen flux in the fluidized bed compared to the empty 

system can thus be explained by the increase of the radial dispersion of the system 

due to the bubbling behaviour of the fluidized bed resulting in a decrease in δ. 
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Figure 4.5. Permeated hydrogen flux at different total pressures from a 75% H2/N2 mixture 
at 380 °C, with a total feed flow of 3.6 Nl/min. 

 
Figure 4.6. Concentration polarisation coefficient for the empty tube and the fluidized bed 
system at different pressures. 

Figure 4.7a shows the film layer thickness at 3 bar fitted for different feed fractions 

of hydrogen in the system without fluidized bed for different total feed flow rates. 

To indicate the effect of hydrogen depletion on the results, the bars in Figure 4.7 

show the inlet and outlet fraction of hydrogen of the system. The film layer 
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thickness increases with an increase in the partial pressure of hydrogen, roughly 

between 6 and 12 mm. Analysis of the conditions of these results show that the 

decrease in δ with a decrease in the partial pressure of hydrogen and fluidization 

velocity is related to the increase in the Reynolds number of the system, as shown 

in Figure 5b, demonstrating the strong influence of the hydrodynamics on the 

extent of concentration polarisation. However, for the fluidized bed there is no 

correlation available to get a good estimation of the δ as a function of the different 

operating conditions. Therefore, in this work δ is considered as an adjustable 

parameter in the model and obtained by fitting to the results of a base case 

reforming experiment performed at the following conditions: 480 °C, a total 

pressure of 3 bar, a total feed flow rate of 3.6 Nl/min and a feed distribution of 

CH4:CO2:H2O = 1:0.7:3. The δ obtained from the fitting was 0.54 cm as a result 

of the more vigorous hydrodynamics of the fluidized bed; this constant δ is further 

used to describe all reforming experiments presented in the following analysis. 

The CPC for the system with biogas reforming was found to be 0.78, with the use 

of the hydrogen concentrations obtained from the model. 
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Figure 4.7. A: Film layer thickness for different hydrogen fractions at 3 bar and 370 °C for 
different total feed flow rates in system without fluidized bed. B: the thickness of the 
boundary layer as function of the Reynolds number. 

4.3.2. Biogas steam reforming 

To validate the model for the reforming of synthetic biogas, experiments were 

carried out at temperatures between 430 °C and 540 °C, with CO2/CH4 feed ratios 

ranging from 0 to 0.9, pressures from 2 bar up to 5 bar and a range of steam-to-

carbon ratios (SCR) from 2 to 4. The stability of the system was monitored using 
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the before-mentioned base case experiment together with the performance of the 

membrane. The nitrogen and hydrogen permeability of the membrane increased 

over time: the fluidization roughens the membrane surface increasing the active 

area for hydrogen permeation, but also creating defects for nitrogen to pass. The 

discrepancy between the model and experiments was therefore higher for the 

experiments varying the SCR, as they were performed in a later stage of the 

system. All other results showed good agreement with the model and the use of 

one single δ showed to be sufficient over the investigated experimental ranges. 

From Figure 4.8 to Figure 4.11 the experimental results together with the model 

predictions are shown in terms of methane conversion, SF and HRF. The effects 

of the studied parameters will be further elaborated to show the effects and the 

differences between methane steam reforming (MSR) and biogas steam reforming 

(BSR). The impact of the temperature is studied for three different values, a 

comparison is made between MSR and BSR, all the other parameters are studied 

with and without the selective extraction of hydrogen. In all cases, the 

experimental results and the model predictions fit with the predicted equilibrium 

conversion. The cases without extraction of hydrogen behaved as expected for 

SMR: the methane conversion increases with temperature due to the endothermic 

nature of the system (Figure 4.8); a decrease in the methane conversion with 

increasing pressure as a result of the negative effect of pressure on the SMR 

reaction (Figure 4.9) and when the CO2 concentration in the feed is increased, to 

form the synthetic biogas mixture, the conversion reduces due to the high 

concentration of CO2 (Figure 4.8 and Figure 4.10). The increase in H2O content on 

the other hand had a positive effect on the methane conversion, since this is a 

reactant forcing the equilibrium to the product side (Figure 4.11). When hydrogen 

was extracted from the system the equilibrium was shifted upwards. The extent 

of this shift depends on the permeability of the membrane and the transmembrane 

driving force. Focusing on temperature, the permeability of the membrane 

increases with temperature showing a higher SF and HRF and thus increases the 

conversion. A maximum methane conversion of 72% and 68% for respectively 

MSR and BSR at 533 °C was obtained. The transmembrane pressure is strictly 

related to the system pressure, therefore increasing the pressure results in an 

increase of SF as well as HRF. Over the tested range, the conversion increased by 
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50% to 105% with respect to the conversion without membrane. Although, it was 

not possible to work at higher pressures in the experimental system it can be 

expected that at higher pressure, hence higher HRF, the conversion would 

increase with pressure. In this way, the system can overcome the negative effect 

of the pressure on the SMR reaction. The study of different BSR mixtures with 

different CO2/CH4 ratios showed a constant shift in equilibrium, as the SF was not 

affected by the higher feed rate of CO2. The equilibrium conversion and HRF still 

decreased with an increase in the CO2 fraction and the concentration of CO was 

increased on the retentate side with increasing CO2/CH4, showing the effect of the 

CO2 on the WGS equilibrium. CO poisoning could be assumed to be negligible, as 

the SF was not affected and considering the temperature the experiments where 

performed at [27]. The dilution effect of CO2 could not be studied well in these 

experiments since the system feed was balanced with CO2, later performed 

experiments with lower dilutions also showed no significant effect of an increase 

in the CO2 content in the feed on the SF. As mentioned before, the methane 

conversion increases with higher SCR, however, also the shift showed a small 

increase. This increase in shift can be explained as follows: as more hydrogen is 

produced, also the transmembrane pressure difference is increased, which can be 

seen from a slight increase in SF. During the experiments, there was no indication 

of carbon formation, and after the experiment no carbon was visible in the system 

or on the membrane.  
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Figure 4.8. Methane conversion, SF and HRF of SMR and BSR (CO2/CH4 = 0.7) as a 
function of temperature at 3 bar, a total feed of 3.6 Nl/min with 10% of methane and a 
SCR of 3. 

Figure 4.9. Methane conversion, SF and HRF for different pressures at 480 °C, a total feed 
of 3.6 Nl/min with 10% of methane and a SCR of 3. 
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Figure 4.10. Methane conversion, SF and HRF for different CO2/CH4 ratios at 480 °C, 3 bar, 
a total feed of 3.6 Nl/min with 10% of methane and a SCR of 3. 

Figure 4.11. Methane conversion, SF and HRF for different SCRs at 480 °C, 3 bar and a 
total feed of 3.6 Nl/min with 10% of methane. 

The methane conversion, SF and HRF are important parameters to assess the 

reactor performance, although the purity of the hydrogen is as important to 

demonstrate the potential of the presented concept for biogas steam reforming. 

The permeate composition for the different cases is reported in Figure 4.12. The 

minimum amount of CO that was detected at the permeate side in the experiments 

was 146 ppm, in the other cases the GC was not detecting any CO and the amount 

can be assumed to be at least lower than 146 ppm. CO was found in three cases, 

where in two of the cases the CO concentration in the system was relatively high 

as a result of the high CO2/CH4 ratio or the low SCR, while in the other case the 
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temperature was lower (437 °C) resulting in a lower hydrogen flux. The hydrogen 

purity is strongly affected by the temperature, because it affects the hydrogen 

flux as consequence of the increased hydrogen permeability and methane 

conversion at higher temperatures. The lowest and highest hydrogen purity found 

for BSR were 97.34% and 99.88% achieved at the lowest and highest operation 

temperature, respectively. This effect could also already be seen from the increase 

in the ideal selectivity during the membrane characterization.
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Figure 4.12 Permeate composition for: (a) CO2/CH4 ratio, (b) temperature, (c) pressure and (d) SCR. 
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4.3.3. Optimization and scale-up 

To further validate the implementation of the concentration polarisation in the 

model, experiments with high dilution ratios were performed. From the results of 

these experiments a higher discrepancy with the model for the flux was observed. 

This can be discerned from Figure 4.13, where the high and the low dilution cases 

are compared. This discrepancy can be explained by the increase in the hydrogen 

partial pressure in the system and the change in validity of the assumed film layer 

thickness.  

Figure 4.13. Parity plot of the predicted and measured hydrogen flow for high and low 
dilution conditions 

Further scale up of the system to higher pressures would therefore require a new 

estimation of δ. However, no Sherwood correlation is available in the literature to 

describe the mass transfer from the bulk to the immersed membrane. To study 

the importance of the parameter δ, the validated model is used to evaluate this. 

To do this, the model was scaled up and the operation conditions were selected 

as for an industrial application. The system feed was selected as a representative 

biogas reforming mixture. Both the feed composition and the operation conditions 
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are listed in Table 4.3 and the computed concentration profile along the reactor 

length is shown in Figure 4.14.  

Table 4.3. Conditions and feed composition used for the analyses of the scaled-up system. 

Parameter value Unit 

Pressure 12 bar 

Temperature 550 °C 

Permeate pressure 0.1 bar 

H2O/CH4 2.4 - 

CO2/CH4 0.76 - 

N2/CH4 0.37 - 

u/umf 7.41 - 

It can be seen, that in the first part most of the hydrogen is produced and the 

highest hydrogen concentration is reached. After this point the rate of hydrogen 

extraction becomes dominant over the rate of hydrogen production, and therefore 

the hydrogen concentration decreases along the reactor. Both the steam and 

methane concentration decrease along the reactor as they are converted. CO2 is 

produced together with CO. A small difference can be outlined between the 

emulsion phase and bubble phase concentrations due to the influence of bubble-

to-emulsion phase mass transfer limitations. This is not the case for the hydrogen 

transport, since in the model it was assumed that hydrogen is extracted from both 

the emulsion and bubble phase. To evaluate the importance of the thickness δ, 

the system was evaluated for three different cases: δ equal to 0.54 cm as resulted 

from the permeation experiments, a δ of 0.25 cm and 0.75 cm. The results of 

these calculations are shown in Figure 4.15. The thickness δ has a significant 

influence on the system performance. The conversion is shown as a function of 

the membrane productivity, indicating the amount of hydrogen that can be 

obtained per unit of membrane area. The productivity of the membranes 

decreases proportionally with the thickness of δ. Which means that a decrease in 

thickness δ of 25% leads in an increase of 25% in the productivity. These results 

not only highlight the importance of the film layer thickness on the design of 
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fluidized bed membrane reactors, but also indicate the potential of improving a 

membrane system by decreasing the concentration polarisation.  

Figure 4.14. Composition along the reactor at 550 °C, 12 bar, load-to-surface ratio of 3 
m3

CH₄ m-2
memb. h-1, continues lines and dashed lines represent respectively emulsion and 

bubble phase gas fractions. 
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Figure 4.15. Membrane productivity as function of methane conversion for three different 
thicknesses of δ. 

4.4. Conclusions 
Hydrogen production via steam reforming of biogas has been experimentally 

investigated in a fluidized bed membrane reactor and the results were used to 

validate a phenomenological, one-dimensional, two-phase model, that was 

extended to account for concentration polarisation using a stagnant boundary 

layer film model. A Pd-Ag membrane supported on Al2O3 has been used both in 

an empty shell-and-tube configuration and in a fluidized bed with a Jonson 

Matthey Rh based catalyst. Permeation results in the two different system 

configurations were used to determine the thickness of the mass transfer 

boundary layer (δ). The importance of the hydrogen concentration and 

fluidization velocity on the extent of concentration polarisation is shown. A good 

description of the reforming experiments over the entire range of experimental 

conditions was obtained by the model when using the same thickness δ of 0.54 

cm. Experiments with synthetic biogas mixtures showed lower conversions, 

however, the hydrogen separation was not affected and the previous estimation 
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of δ was shown to be adequate. However, when scaling up the system to higher 

dilution ratios showed larger discrepancies in the model predictions. The model 

was used to further scale up the system and study the dependency on the 

thickness δ. It was shown that the thickness significantly influenced the system 

productivity and scaled proportionally with the productivity.  
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Appendix 

Appendix I Empirical correlations used in the model for the description of 
the system hydrodynamics and mass transfer. 
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Appendix II Reaction rate laws and kinetic parameters 

Reaction Stoichiometry and reaction rate equation Ref. 
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Appendix III Kinetic evaluation  

Catalyst 

The catalyst, provided by Johnson Matthey, contained 2.5% Rh and 2.5% Ce that 

was impregnated onto a  γ-alumina particles (average particle diameter of 250 

µm) via incipient wetness impregnation from metal nitrates. The catalyst was 

subsequently calcined at 500 °C in air.  

Kinetic setup 

A setup designed for the measurement of catalyst activities and stabilities under 

reforming conditions was used. The catalyst and inert material were loaded into a 

quartz tubular reactor. The catalyst was supported by a small piece of glass wool. 

The catalyst, typically 20 mg, was first mixed with inert (quartz) particles in a 

ratio ‘catalyst:inert’ = 1:15. This resulted in a bed height of about 10 mm. On top 

of the catalyst bed quartz particles of 1-2 mm were placed to allow pre-heating of 

the feed gas. The out- and inlet temperature of the catalyst bed was monitored 

with thermocouples. A schematic representation of the reactor is shown in Figure 

4.16. The reactor was placed inside a tubular oven. The feed and outlet system of 

the reactor was traced and insulated and was kept at 160 °C during the 

experiments. The gas feed was supplied by Brooks mass flow controllers. The 

steam feed was controlled by a Bronkhorst® mass flow controller and generated 

at 130 °C in a controlled evaporator mixer (CEM). The inlet and outlet flow was 

analysed by an online micro-GC with two mol-sieve (5A) columns and a poraplot 

Q (PPQ) column. The oven was heated with a flow of nitrogen at a heating rate of 

3 °C/min to 550 °C. The catalyst was then exposed to a flow of 250 ml/min of air 

for 1 hour. After this the system was flushed with nitrogen and a flow of 500 

ml/min 20% hydrogen in nitrogen was put for 30 minutes to reduce the catalyst. 

For all experimental results the mass balance obtained was closed within 1% 

error. All experiments used had a significantly lower conversion than the 

equilibrium conversion. 
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Figure 4.16. Schematic representation of the kinetics reactor. 

Kinetic model 

First it was verified whether the conversion rate was not limited by external or 

internal mass or heat transport limitations. Mears criterion was used to verify 

whether the reaction rate was influenced by external transport limitations. To 

avoid external mass transfer limitations, Mears criterion should be below 0.15, 

which was indeed the case [32]. In addition, absence of external mass transfer 

limitations was also experimentally evaluated. No change in conversion was 

measured when the total volumetric flow rate was varied while keeping the 

residence time with respect to methane constant. Influence of internal transport 

limitations was evaluated by the Weisz modulus [33]. A Weisz modulus < 0.25 

was found, which indicates that the effectiveness factor is above 0.95. Calculating 

the effectiveness factor with the use of the (approximated) Thiele modulus an 

effectiveness factor above 0.99 was found, excluding a significant influence of 

internal mass transfer limitations. Also the influence of possible heat transfer 

limitations were checked, and both Mears criteria for absence of external and 
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internal heat transfer limitations were satisfied [34]. Table 4.4 summarizes the 

used criteria. 

 

Table 4.4. Kinetic criteria for mass and heat transport limitations. 

Mears criterion for external mass transfer limitations [32]  

4
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ρ
≤  where 
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c c
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Mears criterion for internal heat transfer limitations [34]  

0
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p
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T R

ρ

λ

∆ ⋅
  

 

Many works employing Rh catalysts for steam methane reforming refer to the 

work by Wei and Iglesia, that uses the assumption that the methane dissociation 

step is the rate limiting step and that the rate is first order in methane [35]. To 

investigate the validity of this assumption for the used catalyst, experiments with 

different partial pressures of methane at different temperatures were performed. 

A simple kinetic description, as shown in Eq. 4.13 and Eq. 4.14, was then used to 

describe the results at each temperature.  

𝑅𝑅𝑆𝑆𝑆𝑆 = 𝑘𝑘𝑆𝑆𝑆𝑆 𝑝𝑝𝐶𝐶𝐶𝐶4 
𝑛𝑛 (1 − 𝜂𝜂𝑆𝑆𝑆𝑆) Eq. 4.13 
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The water gas shift reaction is commonly assumed at equilibrium. However, the 

outlet composition of our experiments was relatively close to equilibrium, but not 

fully at equilibrium. The equilibrium values for the WGS reaction, ηWGS, as a 

function of the weight-to-feed ratio is shown in Figure 4.17. 

 
Figure 4.17. WGS equilibrium in the experiments versus weight to feed ratio (W/F) at 1.5 
bar a SCR of 4 diluted with nitrogen. 

A simple rate description for the water gas shift reaction with only a first order 

dependency on the partial pressure of CO was used. The experimental results are 

shown together with the fitted description in Figure 4.18, where for each 

temperature the reaction order of the methane steam reforming, n, was fitted 

separately, using a simple plug flow reactor model description assuming 

isothermal conditions, negligible pressure drop and no mass transfer limitations. 

It was found that a good description was only obtained with values for n below 

unity, which indicates that for our catalyst the description of Wei and Iglesia was 

not sufficiently adequate. Most likely the discrepancy is related to inhibition effects 

of co-reacting species, where this effect becomes somewhat less pronounced for 

higher temperatures, and the reaction order n in methane increases somewhat. 

𝑅𝑅𝑊𝑊𝑊𝑊𝑊𝑊 = 𝑘𝑘𝑊𝑊𝑊𝑊𝑊𝑊 𝑝𝑝𝐶𝐶𝐶𝐶 (1− 𝜂𝜂𝑊𝑊𝑊𝑊𝑊𝑊) Eq. 4.14 

𝜂𝜂𝑗𝑗 =
𝛱𝛱𝑖𝑖𝑝𝑝𝑖𝑖

𝜐𝜐𝑖𝑖

𝐾𝐾𝑒𝑒𝑒𝑒𝑗𝑗
 Eq. 4.15 
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Figure 4.18. Total methane conversion for different Weight to feed ratios at 1.5 bar a SCR 
of 4 diluted with nitrogen. 

Table 4.5. Kinetic parameters obtained from fitting. 

 448 °C 484 °C 523 °C 567 °C 612 °C 

ksr  

[mol1kg-1s-1kPa-n] 
0.45 0.71 1.08 1.92 2.53 

n 0.33 0.33 0.35 0.49 0.52 

kwgs 

[mol1kg-1s-1kPa-1] 
724.14 401.82 396.97 353.75 129.73 

 

In the work by Jacobson et al. the same effect is observed and a description with 

adsorption parameters for CO and H2 is applied. To understand the effects of CO 

and H2 on the performance of our catalyst, we performed CO and H2 co-feeding 

experiments at a fixed temperature of 500 °C. The effects of the H2 partial 

pressure in the feed are shown in Figure 4.19. A clear decrease in the methane 

conversion with an increase in the partial pressure of H2 was observed. The 

description with only the methane reaction order (n) fitted without H2 co-feeding 

was insufficient for this case, as the decrease in conversion was more extensive, 

and could be well described with the model by Jacobsen et al.  



118 | C h a p t e r  4  

 

 

Figure 4.19. Results of co-feeding of H2 at 500 °C with 10% methane and SCR of 4 in 
nitrogen. 

In order to validate whether the kinetic rate expressions used in the 

phenomenological model were sufficiently adequate, the kinetics using a constant 

reaction order in methane, the kinetics by Jacobsen et al. and by Marra et al. have 

been compared in Figure 4.20. Clearly, the adsorption of CO and H2 can have a 

significant impact on the methane conversion. The kinetic model assumed in this 

chapter was based on the kinetic description by Marra et al., which shows a 

significantly lower activity. To assess the influence of the reaction kinetics on the 

methane conversion in a fluidized bed membrane reactor, all three kinetic models 

were implemented in the phenomenological model. However, no differences in the 

obtained results could be found, as shown in Figure 4.21. The reason for this is 

the relatively slow separation of hydrogen in comparison to the fast reaction 

kinetics. Only when the catalyst was 100,000 times more diluted, effects could be 

noticed.  
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Figure 4.20. 100 ml/min 5% methane feed with SCR of 4 in nitrogen over 16 g of catalyst.  

 
Figure 4.21. Kinetic comparison in the phenomenological model at 500 ˚C and 10 bar. 
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Nomenclature  
Ar    Archimedes number 

jA    Arrhenius pre-exponential factor 

TA    Area of bed cross section [m2] 

,0bd    Initial bubble diameter [m]  

bd    Bubble diameter [m] 

,b avgd    Average bubble diameter [m] 

,maxbd    Maximum bubble diameter [m] 

pd    Particle diameter [m] 

gD    Gas diffusivity [m2 s-1]   

TD    Bed diameter [m] 

,act jE    Activation energy for reaction j 

kf    Fraction of phase k 

iF    Molar flow of species i [mol s-1] 

g    Gravitational acceleration [m s-2] 

mfH    Height of the bed at minimum fluidization velocity [m] 

fH    Height of the fluidized bed [m] 

sH    Height of the packed bed [m] 

ceK   Volumetric interchange coefficient between cloud and emulsion [s-

1] 

bcK    Volumetric interchange coefficient between bubble and cloud [s-1] 

, ,be i nK   Volumetric interchange coefficient between bubble and emulsion 

phase [s-1] 
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eq
jK    Equilibrium constant for reaction j 

,w iM    Molar weight of component I [kg mol-1] 

iN    Molar flux component i [mol m-2 s-1] 

0p   Pre-exponential factor for permeability of membrane [mol m-1 s-1 

Pa-n] 

iP    Partial pressure of species i [bar] 

jr    Reaction rate of reaction j [mol kg-1 s-1] 

.membR    Radius of the membrane 

( )HSF Q   Heaviside function of Q 

t    Thickness of Membrane selective layer thickness [m] 

,
s
k nu    Superficial velocity of phase j in cell k [m s-1] 

mfu    Minimum fluidization velocity [m s-1] 

0u    Superficial gas velocity at inlet 

bu    Bubble rise velocity 

,b avgu    Average bubble rise velocity 

,D iV   Diffusion volume for component i 

,k nV    Volume of phase k in cell n [m3] 

, ,k i nw    Weight fraction of phase k, component i in cell n 

,i bulkx    Molar fraction of species i in the bulk 

, .i membx    Molar fraction of species i adjacent to the membrane 

 

Greek symbols 

δ    Thickness of the stagnant film layer [m] 

rH θ∆    Reaction enthalpy at standard conditions [kJ mol-1] 
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,k nε    Fraction of phase k in cell n 

mfε    Bed voidage at minimum fluidization velocity 

gµ    Gas viscosity [Pa s]  

,j iν    Stoichiometric coefficient of reaction j component i 

,k nρ    Density of phase k in cell n [kg m-3] 

 

Subscripts 

b    Bubble phase 

e    Emulsion phase 

g    Gas phase 

i    Species 

j    Reaction 

n    Number of CSTR in emulsion or bubble phase 

s    Solid phase  
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Effects of scale-up on membrane reactor 

performance 

Fluidized bed membrane reactors have shown great potential and are now being 

scaled up to larger scale. However, understanding of the system behaviour at 

larger scales still needs to be improved. This chapter investigates the effects of 

scaling the single membrane fluidized bed reactor investigated in chapter 4 to a 

system containing 5 or 7 membranes. Experiments to characterize the system and 

with and without prevailing reactions are performed at different temperatures 

(400-550 °C) and feed flow rates. The results are compared with predictions from 

a 1D-phenomenological model. The results show a decrease in performance as a 

result of mass transfer limitations due to induced differences in fluidization 

behaviour in larger systems. Investigation into different membrane configurations 

confirm the interaction of concentration polarization layers and the importance of 

proper tuning of the distance between the membranes.
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5.1. Introduction 
The experimental demonstrations of intensified and integrated systems for 

methane reforming reactions differ in scale, from milliliter scale in the lab up to 

40 Nm3H2/h [1]. In the work of Kyriakides et al. the performance of a membrane 

reactor with commercial Ni catalyst pellets has been compared to a system with 

a Ni catalyst on a ceramic foam [2]. They show that the ceramic foam significantly 

reduces the radial temperature difference between the reactor wall and the 

membrane. In the work of Boeltken et al. a micro-structured membrane reactor 

has been presented. In this system, a very high catalyst-to-membrane surface 

ratio is obtained, combined with high heat and mass transfer properties of a micro-

reactor system [3]. The fluidized bed membrane reactor concept has been 

demonstrated for different applications [4][5][6][7]. Moreover, in the previous 

chapter it is demonstrated that the fluidized bed membrane reactor can reduce 

concentration polarization (CP), thus increased mass transfer while operating at 

virtual isothermal conditions (i.e. excellent heat transfer). The demonstrations of 

these concepts show significant improvements of the membrane performance by 

reactor design, however, the scale remains generally small, around 10-100 cm2 

of membrane area [8][3]. The larger systems from 0.5-10 m2 reported in 

literature often focus on the demonstration of the concept and stability [9][10]. 

The effects on membrane performance of scaling up these systems is therefore 

relatively little explored. With the increase in selectivity and hydrogen fluxes of 

the membranes, the operating conditions are critical parameters in optimizing the 

reactor design. In these cases, the mass transport or reaction rates can become 

limiting in comparison to the membrane permeation rate. The behavior of the 

concentration polarization effects can thus play a significant role in determining 

the required membrane area and reactor design. 

Several works have studied the mass transport in membrane reactors in detail. In 

the work by Murmura et al. the emergence of a reaction boundary layer (RBL) 

that develops along the membrane wall has been observed [11]. In this case the 

reaction rate becomes limiting and a region near the membrane is identified were 

the system is not at equilibrium. By adapting the membrane-to-wall distance to 

the RBL the system could be optimized. In the work by Voncken et al. the 



E f f e c t s  o f  s c a l e - u p  o n  m e m b r a n e  r e a c t o r  p e r f o r m a n c e | 131 

 
 

separation of hydrogen from a hydrogen/nitrogen mixture in a fluidized bed 

membrane system has been studied using two-fluid model [12]. Different 

configurations of membrane placements are described and the effect on CP and 

fluidized bed hydrodynamics is discussed. An interaction of two concentration 

polarization layers is found to further reduce the membrane performance.  

The work in this chapter aims at further investigating the effects that scaling up 

of fluidized bed membrane reactor has on the performance of the system and 

what the implications for a future reactor design are. Experiments have been 

performed on two different fluidized bed membrane reactor systems. The 

phenomenological model developed in chapter 4 is used to investigate a scaled up 

system with 5 membranes under steam reforming conditions [13]. The 

investigation and analysis are then extended to a 7-membrane system, where 

different configurations are studied.  

5.2. Experimental  

5.2.1. Setup 

The experimental system used in this study can be divided into three sections: 

the feeding system, reactor system and gas analysis system. A schematic 

representation of the experimental setup is given in Figure 5.1. From the feeding 

system the following gasses could be fed to the system: H2, He, N2, Air, CO2, CH4 

and CO. The feed flow rate of these gasses was controlled with Bronkhorst mass 

flow controllers. A steam feed was provided from a Stepdos O3RC pump and fed 

through an evaporation system to produce and mix the steam with the reactor 

feed. The reactor feed could be fed to the reactor section or by-passed directly to 

the analysis section. The feed to and from the reactor section was traced and kept 

at 140 °C when steam was fed to the system. After the reactor section two 

streams are treated, the permeate and the retentate, A cyclone was applied to 

remove fine particles escaped from the retentate and a 7 µm filter was applied to 

avoid finer particles from escaping the system. This stream was then led through 

a condenser to remove the steam and was fed to a SICK analyser to obtain the 

gas composition. The permeate side could be brought to a pressure of 0.1 bar 

with the use of a vacuum pump. The flow rate of the permeate side was measured 
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using a Horibastec flowmeter. Both permeate and retentate streams were sent to 

the vent of the system. 

 
Figure 5.1. Schematic representation of the experimental setup. 

In this study two reactors have been used in the testing setup: one with 5 

membranes (referred to as 5-MR) and one with 7 membranes (referred to as 7-

MR). In the 5-MR system it was not possible to obtain results at a U/Umf > 4 due 

to setup limitations. If there are no kinetic limitations, which is the case here, the 

system performance depends on the methane load-to-surface ratio (LTSR) [14]. 

The load-to-surface ratio in relation to the hydrogen recovery or methane 

conversion can be used as a key design parameter. From the desired capacity and 

system performance the required membrane area and feed flow rate follows. 

When the membrane geometry is fixed, the distance also referred to as the pitch 

between the membranes will result in the free area and hence the velocity 

obtained in the system. In the case of the 7 membrane system the pitch between 

the membranes was reduced therefore the desired LTSR could be obtained at 

higher velocities. The details of both reactors are presented in Table 5.1. The 



E f f e c t s  o f  s c a l e - u p  o n  m e m b r a n e  r e a c t o r  p e r f o r m a n c e | 133 

 
 

system presented in the previous chapter is added for comparison and was used 

to validate the model [13]. The membranes were fingerlike tubular Al2O3 

supported thin film PdAg membranes and sealed using a swagelok connection with 

a graphite ferrule. In these systems the membranes were connected with a dense 

metal tube from the top flange and vertically immersed into the fluidized bed. In 

Table 5.1 the placement of the membranes is also specified for each configuration. 

In the 5-MR system a pentagonal configuration of the membranes was used, here 

the thermocouple and pressure capillary were bundled in the middle. For the 7-

MR system a hexagonal configuration with a center membrane was used. In this 

case, the thermocouples were placed in the space between the membrane and 

reactor wall. To reduce the system volume of the 7-MR the membranes were 

placed as close together as possible in a staggered arrangement. A picture of both 

reactor configurations is shown in Figure 5.2. Both systems have the ability to 

measure each membrane separately, for purpose of characterization of the 

permeation properties and evaluation of the stability. Prior to the reaction 

experiments, the membranes were characterized without the fluidized bed 

present. The catalyst, a Rh/Al2O3 catalyst was provided by Johnson Matthey, had 

an average particle size of 250 µm and was mixed with Al2O3 support with the 

same particle size and distribution. The reforming experiments were performed in 

a temperature range between 420 °C and 550 °C and up to a pressure of 6 bar(a). 

The system was evaluated using the following performance parameters: methane 

conversion and hydrogen recovery factor; which are defined in Eq. 5.1 and Eq. 

5.2, respectively. 

 

  

𝑀𝑀𝑀𝑀𝑀𝑀ℎ𝑎𝑎𝑎𝑎𝑎𝑎 𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 =  
�𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖 − 𝐹𝐹𝐶𝐶𝐶𝐶4,𝑜𝑜𝑜𝑜𝑜𝑜�

𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
 Eq. 5.1 

𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻 𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅𝑅 𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹𝐹 =
𝐹𝐹𝐻𝐻2,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝.

4𝐹𝐹𝐶𝐶𝐶𝐶4,𝑖𝑖𝑖𝑖
 Eq. 5.2 
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Table 5.1. Reactor details. 

 
Single membrane 

reactor [13] 
5-MR 7-MR 

Internal Reactor 

Diameter (mm) 
42.7 100 80 

Catalyst Rh/Al2O3 

(kg) 
0.13 1.29 0.92 

Catalyst in support 

(Al2O3) mixture 
87.5% (w/w) 44% (w/w) 44% (w/w) 

Membrane(s) 

1 PdAg on Al2O3 

14/7 mm 

(OD/ID*) 

5 PdAg on Al2O3 

14/7 mm 

(OD/ID*) 

fingerlike 

7 PdAg on Al2O3 

14/7 mm 

(OD/ID*) 

fingerlike 

Membrane Area 

(cm2) 
64.2 929.9 1281.8 

Membrane 

Configuration 
 

 

 

*(OD/ID) outer diameter and inner diameter 
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Figure 5.2. Pictures of the 5 and 7 membrane configuration. 

5.2.2. Membranes 

In this study a total of 7 membranes were used. The membranes were produced 

using an electroless plating technique described in Chapter 2. The 5 membranes 

used in 5-MR were resealed and reused in the 7-MR (thus losing a few mm in 

length when reused). All the membranes and their corresponding lengths are 

shown in Table 5.2.  

Table 5.2. List of membranes and corresponding lengths used in the systems. 

Membrane 5 MR (cm2) 7 MR (cm2) 

M1 186 180 

M2 185 179 

M3 187 179 

M4 186 178 

M5 186 177 

M6  194 

M7  194 
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5.2.3. Phenomenological model 

The phenomenological one-dimensional two-phase fluidized bed membrane 

reactor model described in Chapter 4, which accounts for concentration 

polarization through a stagnant film, was used for the analysis. In the model 

approach, both the bubble and emulsion phases of the fluidized bed are divided 

into a number of CSTRs along the reactor height [14]. The model validation was 

performed with experimental results obtained with the single membrane reactor 

(Table 5.1). The film layer thickness δ was estimated from the experimental 

results using Eq. 5.3. Here, Di is the molecular diffusion coefficient for an empty 

tube system or the dispersion coefficient for a fluidized bed, which was estimated 

from CFD simulations at 1∙10-4 m2s-1 [15], Rmemb. is the radius of the membrane, 

xi,memb. and xi,bulk are the concentration on the membrane surface and in the bulk 

respectively and Ctot is the total concentration. In Chapter 4, a film layer thickness 

of 0.54 cm was found, with which the reforming experiments in the single 

membrane system could be well described. In the presented work Eq. 5.3 is 

rewritten to Eq. 5.4, which allows to distinguish between the finite flux correction 

factor ξm (Eq. 5.5), the geometric factor f (Eq. 5.6) and the mass transfer 

coefficient km (Eq. 5.7). km and f are used in the evaluation of the experimental 

results. 

𝑁𝑁𝑖𝑖,𝑟𝑟𝑚𝑚 = − 𝐷𝐷𝑖𝑖𝐶𝐶𝑡𝑡𝑡𝑡𝑡𝑡
𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.𝑙𝑙𝑙𝑙 �1 + 𝛿𝛿

𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.
�
𝑙𝑙𝑙𝑙�

1−𝑥𝑥𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.
1−𝑥𝑥𝑖𝑖,𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏

� 
Eq. 5.3 

𝑁𝑁𝑖𝑖,𝑟𝑟𝑚𝑚 = −𝑘𝑘𝑚𝑚𝑓𝑓𝜉𝜉𝑚𝑚𝐶𝐶𝑡𝑡𝑡𝑡𝑡𝑡�𝑥𝑥𝑖𝑖,𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏 − 𝑥𝑥𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.� Eq. 5.4 

𝜉𝜉𝑚𝑚 =  
𝑙𝑙𝑙𝑙 �

1 − 𝑥𝑥𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.
1 − 𝑥𝑥𝑖𝑖,𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏

�

�𝑥𝑥𝑖𝑖,𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏 − 𝑥𝑥𝑖𝑖,𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.�
 Eq. 5.5 
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𝑓𝑓 =

𝛿𝛿
𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.

𝑙𝑙𝑙𝑙 �1 + 𝛿𝛿
𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚.

�
 Eq. 5.6 

𝑘𝑘𝑚𝑚 =  
𝐷𝐷𝑖𝑖
𝛿𝛿

 Eq. 5.7 

5.3. Results 

5.3.1. Membrane characterization 

In order to analyze the results and model the performance of the system, the 

performance of each of the membranes in the system was determined first. After 

integration of the membranes the reactor system was heated up to 400 °C without 

catalyst present in the reactor. The membranes were exposed to an air treatment 

of two minutes at this temperature. Subsequently, the system was heated to 500 

°C and left under pure hydrogen for 24 hours until a stable hydrogen permeation 

was reached. The temperature was then decreased with steps of 25 °C to 400 °C, 

and permeation tests were performed at each interval. The measured hydrogen 

permeation fluxes through these membranes can be well described with a 

difference in the square root of the partial pressure at the retentate and permeate 

side of the membrane, indicating that the bulk diffusion of hydrogen in the PdAg 

layer is rate limiting (Sieverts’ law) [16]. The permeation results obtained were 

used to determine the pre-exponential factor and activation energy for each 

membrane, and these results are reported in Table 5.3. Although the membranes 

are prepared in the same way, still a significant variation in the performance was 

observed, which is most likely a result of inhomogeneities during the manufacture 

of the membranes. Note that 5 of the 7 membranes used in the 7-MR were used 

previously in the 5-MR system. The use and resealing, and subsequent treatment 

and heating resulted in a slight decrease in the membrane performance. The 

obtained flux permeation values are in the same range as reported previously in 

literature [17]. In previous work the membrane pre-exponential factor was found 

to be 8.74∙10-3 mol1s-1m-2Pa-0.5 and the activation energy 9.26 kJ/mol [13]. The 
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average values of the pre-exponential factors and activation energies are also 

reported. In order to evaluate whether these average values give a good 

representation of the full system, predictions with the averaged values have been 

compared with the cumulative flow rate predicted by accounting for the fluxes 

through each membrane separately, see Figure 5.3. A difference of less than 1% 

was obtained for the total membrane permeation flux when using the average 

values or the individual membrane fluxes. In case the parameters obtained from 

the worst or best performing membrane were used, a difference of up to 15% 

could be obtained. This shows, that when scaling up a membrane system to for 

example a system containing more than 100 membranes, a representative sample 

should be used to estimate the average performance of the entire set of 

membranes. Moreover, it shows that further improvements in the production 

process are required to reduce the differences in membrane performance.  

Table 5.3. Membrane characteristics  

 5 Membrane Reactor  7 Membrane Reactor 

Membrane 
P0 

10-3 mol1s-1m-2Pa-0.5 

Ea 

(kJ/mol) 
r2  

P0 

10-3 mol1s-1m-2Pa-0.5 

Ea 

(kJ/mol) 
r2 

M1 6.58 7.0 0.995  7.85 7.5 0.997 

M2 7.83 9.2 0.999  8.74 9.9 0.980 

M3 6.78 7.3 0.997  8.52 8.5 0.976 

M4 6.58 8.8 0.996  7.19 8.7 0.998 

M5 6.97 9.1 0.997  7.94 9.3 0.999 

M6     7.53 8.1 0.996 

M7     7.32 7.3 0.997 
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Figure 5.3. Hydrogen flux under pure hydrogen at 500 °C and a transmembrane pressure 
difference of 4 bar. 

5.3.2. 5 membrane reactor 

The 5-MR was evaluated at different operating pressures for steam reforming of 

methane, and the results are shown in Figure 5.4. The methane equilibrium 

conversion decreases with an increase in the pressure. The experimental results 

show a slight initial decrease with pressure as a result of the stoichiometry of the 

SMR reaction. The decrease is however much lower than the decrease in the 

equilibrium conversion because of the selective extraction of hydrogen. Contrary 

to the thermodynamic equilibrium conversion, when the pressure is increased 

above 4 bar an increase in the conversion was measured as a result of the 

hydrogen extraction. At this point the effect of the increase in the hydrogen 

extraction due to the increase in pressure, is stronger than the decrease in 

equilibrium conversion.  
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Figure 5.4. A) Methane conversion, B) Hydrogen recovery factor, for steam reforming of 
methane in the 5-MR at 485 °C and a SCR of 3 for different total pressures. 

The reactor performance was modelled at the same conditions as used in the 

experiments and is included in Figure 5.4, where in the 1D model a film layer 

thickness of 0.54 cm was used, which was obtained from single membrane 

experiments. This significantly over predicts the experimental results, as shown 

in Figure 5.4. The hydrogen flux that is obtained from the model is much larger 

than obtained from the experiments, explaining the difference in conversion, 

indicating that the model validated with results from the single membrane 

experiments does not agree when the system is scaled up. As a result of the scale 

up, the hydrogen recovery factor, which was at highest around 35% in the single 

membrane system, increases to about 50% with the 5 membrane system. The 

other main difference was the fluidization regime in which the system was 

operated. The relative superficial velocity (based on the feed) used in the single 

membrane system U/Umf was 7.41 [13]. However, in the 5-membrane system the 

U/Umf was between 1 to 4, depending on the experimental conditions. The lower 

hydrogen flux observed can be either caused by bubble-to-emulsion phase mass 

transfer or by concentration polarization. From the model results it becomes clear 

that bubble-to-emulsion phase mass transfer is not limiting. It is therefore very 

likely that the lower hydrogen flux is a result of concentration polarization. As 

mentioned before the 5-membrane system has a much lower U/Umf. Therefore, 

fluidization is much less vigorous. The decrease in the U/Umf ratio could 
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significantly affect the emulsion phase to membrane mass transfer rate. This 

would mean that the assumption of a film layer thickness of 0.54 cm and a radial 

dispersion coefficient of 1∙10-4 m2/s in the fluidized bed was no longer valid for 

this situation. To evaluate these effects, the mass transfer term was adjusted to 

match the model prediction with the experimental results. Both the mass transfer 

coefficient and the geometric factor were adjusted. However, it was not possible 

to discriminate between the effect of the radial dispersion coefficient or the film 

layer thickness, and the results are therefore presented in terms of kmf. The mass 

transfer coefficent kmf obtained from the adjustments are presented in Figure 5.5. 

A significantly lower mass transfer rate can be observed for lower U/Umf. 

Considering the results of the 5-MR and the single membrane reactor a linear 

relationship between kmf and the fluidization velocity is found. This indicates that 

the observed relationship can explain the discrepancy between the model and 

experimental results. This means that the decrease to half of the U/Umf in the 5-

membrane system, compared to the single membrane system, resulted in a 

decrease of the lateral dispersion coefficient by a factor 1.46. Or that the mass 

boundary layer thickness was increased by a factor 1.58. 

 

  
Figure 5.5. Mass transfer coefficient kmf at different U/Umf for the 5MR and single 
membrane system.[13][18] 
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5.3.3. 7-Membrane system 

In the 7-MR system the pitch between the membranes is reduced while the 

membrane area is increased. This results in similar load-to-surface ratios at higher 

U/Umf. The 7-MR also had the possibility to measure two of the seven membranes 

in the bundle separately. In this way the performance of a single membrane in 

the bundle could be obtained. Moreover, each of the membranes could be closed 

individually, in this way the performance of different membrane configurations 

could be studied. The results of the 7-MR are shown in Figure 5.6. As mentioned 

before, the HRF decreases with increasing LTSR. With the increase in temperature, 

the HRF increases, due to an increase in equilibrium conversion and an increase 

in permeability of the membranes. The influence of the temperature on the 

obtained HRF decreased at higher temperatures. This was because the pressure 

on the permeate side could not be kept constant and increased, as the vacuum 

pump capacity was insufficient to keep a low permeate pressure. Therefore, at 

higher fluxes the permeate pressure increased resulting in a lower driving force 

over the membrane at higher temperatures. 

 
Figure 5.6. HRF vs LTSR of the 7- membrane system at different temperatures, SCR 3, 
pressure of 5 bar(a) on the retentate and vacuum conditions ranging for 0.22 to 0.56 at the 
permeate. 
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To understand the degree of concentration polarization in this system the mass 

transfer coefficient kmf was estimated with the model, for each of the experiments 

presented in Figure 5.6. The results show a similar trend as the results obtained 

from the 5-membrane system. With the increase in U/Umf, as a result of the 

increased LTSR, the mass transfer is increased. Another observation that can be 

made from these results is that at higher temperatures the mass transfer rate is 

on average decreased. At higher temperatures the average driving force in the 

system is increased due to the increase in the permeability of the membranes, 

which leads to an increase in flux. As shown by Helmi et al., the porosity of the 

emulsion phase can be reduced near the membrane resulting in the formation of 

densified zones, which can result in an additional mass transfer resistance for gas 

components [18], i.e. an increase in the film layer thickness or a decrease in the 

effective radial dispersion coefficient. These effects become more pronounced 

when the flux is increased. Vonken et al. also showed this effect for 250 µm 

particles. As with temperature the flux is increased the formation of densified 

zones could be areason explanation for the observed reduced mass transfer rate 

at higher temperatures.  

  

 
Figure 5.7 Mass transfer coefficient kmf at different U/Umf for the 7MR system. 



144 | C h a p t e r  5   

 
 

In the work by Voncken et al. also the effect of the membrane configuration is 

discussed for separation from a hydrogen mixture. The work shows that, 

depending on the configuration, the membranes can compete for hydrogen 

reducing the membrane productivity. In the case the membranes are placed too 

close together the mass transfer boundary layers start to interact, in which case 

the area from which hydrogen is transported from the bulk towards the CP layer 

is significantly reduced. A reduction in this area results in an even lower mass 

transport rate. In the 7-membrane system the membranes are placed at a 

distance of only 1 cm from each other. 

The 7-MR system allowed measuring the performance of an individual membrane 

while the bundle of membranes was active and also allowed operation in different 

configurations by closing some of the membranes. First, the performance in the 

bundle of the center membrane (membrane 0) was compared to the performance 

of one of the outer membranes (Membrane 6). The results are shown in Figure 

5.8 as a percentage of their theoretical contribution according to the measured 

membrane permeability. The results show that in the cases of 5.3 and 3.2 times 

Umf the performance of the membranes comes close to their theoretical 

contribution. No significant difference in performance is observed between both 

membranes, indicating that the inner membrane is not performing significantly 

less than the other membranes. However, when operating close to Umf, the 

membrane peformance shows a large deviation from the theoretical contribution 

for both membranes, and in this case de-fluidization could have resulted in 

preferential flow and played a significant role.  
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Figure 5.8. Comparison of membrane performance in the bundle at 500 °C and 5 bar.  

To further investigate the interaction effects of the mass transfer boundary layers, 

the performance was compared with different membrane configurations. The first 

configurations that were investigated were: all membranes are active, membrane 

6 was closed and membrane 0 closed. The obtained system performance in terms 

of HRF and estimated averaged mass transfer boundary layer thickness are shown 

for the different configurations in Figure 5.9. The results show that the 

”deactivation/closing” of a single membrane hardly affects the system 

performance, the hydrogen recovery at 2.2 U/Umf only changes from 51.3 to 49.2 

and 50.5, while the surface area was reduced by 14%. As can be seen from the 

calculated averaged mass transfer coefficients kmf from the obtained experimental 

data that the emulsion phase to membrane wall mass transfer rate is increased 

when one membrane was closed. Closing the middle membrane seems to have an 

even stronger effect on the film layer thickness as this membrane is expected to 

have more ‘interaction’ with the other membranes than the membranes placed at 

the outer ring. Thus, the decrease in available membrane area is compensated by 

a decrease in the concentration polarization, explaining that the hydrogen 

recovery factor was hardly affected. The same effect was obtained at the higher 

velocity of U/Umf 3.8. The decrease in the HRF at higher relative fluidization 

velocity is a result of an increase in the the load-to-surface ratio.    
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Figure 5.9. Hydrogen recovery and mass transfer coefficient kmf for the full system and full 
system without membrane 6 and 0 at different U/Umf. 

Subsequently, the performance of another three configurations was compared, 

where in these cases only three membranes were active (and four membranes 

closed). The results and corresponding configurations are shown in Figure 5.10. 

In these cases, the system performance is clearly affected by the configuration of 

the membranes. Placing the membranes close to each other results in a significant 

decrease in the average mass transfer coefficient kmf. The more the mass transfer 

boundary film layers interact or overlap, the higher the degree of CP. It should be 

noted that in this case an additional effect of gas by-pass could play a role. The 

results clearly indicate an effect of ‘interaction’ between the membranes CP layers, 
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also at higher relative fluidization velocities. In the simulation study by Voncken 

et al. a minimum distance of 2 cm between the membranes was advised for 

membranes with a very similar diameter and permeability. The presented results 

thus agree with this and indicate that contact between the CP layers should be 

avoided. However, too much free space between the membranes could result in 

gas by-pass. Furthermore, the free space and load-to-surface area need to be 

tuned to achieve the desired superficial velocity and obtain the desired fluidization 

behaviour. To fully optimize these parameters in a reactor design, also the particle 

size and membrane size and length need to be carefully tuned.  

 
Figure 5.10. Hydrogen recovery and mass transfer coefficient kmf for different 
configurations and U/Umf. 
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5.4. Conclusions 
In the presented work two fluidized bed membrane reactors and different 

membrane configurations have been experimentally evaluated, and a 1D two-

phase phenomenological model that accounts for concentration polarization was 

used to analyze the results and understand the behavior of the systems.  

First, each of the membranes was separately characterized, and the results 

showed a variation in membrane permeability up to 15%, which needs to be taken 

into consideration when scaling up or evaluating a system with multiple 

membranes. This deviation can most likely be reduced, when the membrane 

production process becomes more standardized and is also scaled up. 

Comparison of the performance of a system with 5 membranes and with 7 

membranes with predictions from the phenomenological reactor model, that was 

validated with a single membrane reactor, showed that the extent of concentration 

polarization depends on the fluidization behavior. An increase in the relative 

fluidization velocity U/Umf resulted in an increase of the average emulsion phase 

to membrane surface mass transfer coefficient (and thus reduced CP).  

The average emulsion phase to membrane surface mass transfer could also be 

increased when overlap of the mass transfer layer was reduced. In this way a 

reduction of 14% of the membrane area led to almost no difference in hydrogen 

recovery. Evaluation of the performance of the system with different membrane 

configurations showed a clear increase in the extent of CP (up to about 25% 

decrease in the overall mass transfer rate), when the membranes were placed 

relatively close together, which was attributed to the interaction or overlap of the 

mass transfer boundary layers of neighboring membranes. A minimum distance 

between the membranes to avoid interacting boundary layers is thus advised. 

However, for the optimal design of fluidized bed membrane reactors, also the free 

space between the membranes should be kept to a minimum to maximize 

productivity and avoid gas by-pass.   
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Economic perspective for biogas to 

hydrogen 

This chapter reflects on the research and results obtained in this thesis. A techno-

economic analysis is performed on the basis of flowsheeting simulations using 

Aspen Puls of an integrated system for the production of 100 kg per day of 

hydrogen from biogas using a fluidized bed membrane reactor, and the results 

are compared with a reference case using a conventional small-scale steam 

reformer. Biogas from a landfill and an anaerobic digester were considered in the 

analysis at two different pressures. The conclusions reached in previous chapters 

of this thesis have been used to guide the selection of the operating conditions 

and the design of the system and reactor. The implications of the research on the 

perspective of the technology are discussed.  
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6.1. Introduction 
The use of biogas for the production of hydrogen requires a system that works 

efficiently at small scale. Conventional decentralised small-scale hydrogen 

production units (10 Nm3/h up to 1000 Nm3/h) convert natural gas into hydrogen, 

these are commonly used for industrial applications or as supply for hydrogen 

filling stations. The process is based on the conventional steam reforming process 

taking place between 600 °C and 1000 °C, and requires downstream processing 

to obtain pure hydrogen. The use of biogas in these systems for the production of 

hydrogen has been suggested in literature [1,2]. However, these processes 

require energy intensive separation of the CO2 to produce pure hydrogen, since 

biogas contains significant amounts of CO2.  

The process can be significantly intensified with the use of a fluidized bed 

membrane reactor, as separation and reaction are combined as has been 

demonstrated in chapters 4 and 5. However, the feasibility of a concept cannot be 

based on the evaluation of the reactor only. The integration of the reactor in a 

system and the system into a complex network is essential for the success of this 

technology.  

This chapter shortly discusses the results of the previous chapters and on the 

basis of these results the integration of the FMBR with auxiliaries to form the fuel 

processes system is investigated by flowsheet calculations using Aspen Plus. A 

techno-economic analysis is carried out of the system for the production of 100 

kg renewable hydrogen per day from biogas based on steam reforming with a 

fluidized bed membrane reactor. Steam reforming of biogas in a conventional 

small-scale reformer system is also simulated as a reference and is compared with 

the fluidized bed membrane system. The results of this analysis will help reflecting 

on the conclusions from previous chapters and provide a scope for future research 

and development of the concept. 
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6.2. Methodology  

6.2.1. System layouts 

Benchmark steam reforming 

To verify the competitiveness of the fluidized bed membrane reactor concept for 

biogas to hydrogen it is compared to a benchmark. The benchmark used in this 

chapter is based on conventional high-temperature steam reforming, using biogas 

as a feedstock. In this process, biogas (either obtained from landfill or an 

anaerobic digester) is fed towards a desulfurization unit, where 99.9% sulphur 

removal is achieved. At this point the biogas feed splits into two parts; one part 

is burned in order to provide the reformer with the required heat. The other part 

is compressed, as moderate pressures enhance significantly the economics of the 

process due to smaller vessel volumes. The compressed biogas is mixed with 

steam, and the reaction mixture is fed to the Reforming Reactor, operating at 800 

°C. After a first cooling step, the gas mixture undergoes water gas shift reaction, 

so that the produced CO is converted to CO2, increasing the hydrogen production. 

For this reason, two adiabatic shift reactors are considered operating at different 

temperatures (350 °C and 200 °C), maximizing the CO conversion. Both reformer 

and WGS reactors were modelled in Aspen as Gibbs reactors. The H2-rich stream 

is further cooled down at moderate temperature and the remaining water is 

removed in a condenser. The condensed H2O is used as cooling fluid in the heat 

exchangers between the cascades of the shift reactors. On the other hand, the 

dry gas is sent to a Pressure Swing Adsorption (PSA) system, from which a high-

purity H2 stream is recovered. The obtained H2 is further compressed to 20 bar. 

The heat requirements of the process are supplied by the combustion of the off-

gas from the PSA unit together with an additional amount of desulfurized biogas. 

A schematic layout of the benchmark small-scale steam reforming process is 

shown in Figure 6.1.  
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Figure 6.1. Reference Case System Layout 

Membrane reformer system 

The membrane reactor system has a similar layout as the benchmark plant. The 

results reported in chapter 3 have clearly indicated the necessity to remove 

sulphur from the biogas stream. The gas is then pressurised and sent to the 

membrane reactor. The membrane reactor is described with a stoichiometric 

reactor in combination with a separator which allowed to simulate the hydrogen 

extraction, and the final composition is subsequently obtained through a Gibbs 

reactor. A vacuum pump was used on the permeate side in order to increase the 

transmembrane H2 partial pressure difference and increase the hydrogen flux. The 

vacuum pump was modelled in Aspen Plus as a compressor, which increases the 

permeate pressure from 0.1 bar to atmospheric pressure. Finally, a compressor 

was used to obtain the desired outlet pressure of hydrogen. 
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Figure 6.2. Membrane reactor plant layout 

6.2.2. General definitions and assumptions 

The considered hydrogen plants were designed for a production capacity of 100 

kg of H2 per day. The produced hydrogen is delivered at the same pressure for all 

cases (20 bar), with a desired purity of at least 4.0. The composition of Biogas 

(BG) may vary significantly and depends heavily on the process from which is 

obtained. Therefore, different raw materials and sources result in different CH4 

and CO2 concentrations in the final mixture. In order to assess the impact of 

different gas concentrations in the obtained biogas, two different compositions 

were evaluated, one regarding landfill biogas and one regarding biogas obtained 

from an anaerobic digester. The Biogas compositions investigated in this chapter 

are presented in Table 6.1 [3,4]. 
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Table 6.1. Biogas Compositions and lower heating value. 

Component Landfill (LF) (%mol) Anaerobic digester (AD) 

(%mol) 

CH4 44.2 58.1 

H2O 3.073 2.7 

CO2 34 33.9 

CO 6x10-4 - 

H2 0.017 - 

H2S 0.01 0.4 

N2 16 3.8 

O2 2.7 1.1 

Lower Heating Value [MJ/kg] 12.7 17.8 

 

Landfill Biogas is characterized by a lower CH4 content and a higher content of 

H2S. The H2S has to be removed in the early stages of the process upstream of 

the reformer. The amount of H2S in the Landfill Biogas and in the Anaerobic 

Digester is assumed to be 100 and 4000 ppm, respectively [3].  

All systems presented were simulated in Aspen Plus V10®. The Peng-Robinson 

cubic equation of state was used for all thermodynamic properties [5]. The main 

assumptions and design parameters are presented in Table 6.2. The PSA system 

was modelled as a separator in Aspen and the efficiency depended via a correlation 

on the pressure ratio between the feed and the off-gas; the lower the off-gas 

pressure, the higher the H2 recovery [6,7]. The pressure of the off-gas was set at 

1.2 bar. The membrane reactor system was simulated using the results and model 

obtained in chapter 5. 
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Table 6.2. List of Assumptions 

Parameter Units Value Reference 

Operating Conditions & Target Production    

Ambient Temperature °C 15 - 

H2 Production Target kg/day 100 - 

H2 Purity % 99.99 - 

Plant Lifetime years 10 - 

Yearly Operation hours 7884 - 

Reformer    

Pressure bar 10 and 20 - 

S/C ratio - 4 [4] 

Temperature °C 800 [8], [9] 

Residence Time min 0.021 [10] 

Water Gas Shift Reactors    

HT Temperature °C 350 [11] 

LT Temperature °C 200 [11] 

HT Residence Time min 0.003 [12] 

LT Residence Time min 0.03 [12] 

Membrane Reactor    

Pressure bar 10 and 20 - 

S/C ratio (H2O/CH4) - 4 - 

O/C ratio - ~0.37 - 

Temperature/Pressure Drop °C 550 - 

Excess of O2 in the Burner % 20 - 

Pressure Swing Adsorption Η2    

Efficiency % 77.6-86.8 [6] 

H2 Side Pressure Drop bar 0.5 [4] 

Reformate Pressure Outlet bar 1.2 [4] 

Auxiliaries    

Pumps Hydraulic Efficiency % 70 [4] 

Mechanical Efficiency % 95 [4] 

Compressors Isentropic Efficiency % 70 [4] 

 

The system performance was evaluated in terms of the overall system efficiency, 

as defined in Eq. 6.1. 
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𝜂𝜂𝑠𝑠 =
𝑚𝑚𝐻𝐻2̇  𝐿𝐿𝐿𝐿𝐿𝐿𝐻𝐻2

𝑚𝑚𝐵𝐵𝐵𝐵̇  𝐿𝐿𝐿𝐿𝐿𝐿𝐵𝐵𝐵𝐵 + 𝑊𝑊𝑎𝑎𝑎𝑎𝑎𝑎
  Eq. 6.1 

 

Where LHVBG is the low heating value of biogas at 0 °C and Waux is the sum of the 

electric consumptions of the system auxiliaries, such as compressors, pumps and 

vacuum pump. 

6.2.3. Economic analysis 

An economic evaluation was done in order to compare the final hydrogen 

production cost (€/kg) of the two processes. The same methodology was used as 

presented in the work by Marcoberardino et al., which is widely used by many 

authors regarding H2 production and power plant calculations [1,13,14]. According 

to the above mentioned methodology, the hydrogen production cost (COH) is 

defined as [15]: 

𝐶𝐶𝐶𝐶𝐶𝐶 =
[𝑇𝑇𝑇𝑇𝑇𝑇 · 𝐶𝐶𝐶𝐶𝐶𝐶] + 𝐶𝐶𝑂𝑂&𝑀𝑀,𝑓𝑓𝑓𝑓𝑓𝑓 + �𝐶𝐶𝑂𝑂&𝑀𝑀,𝑣𝑣𝑣𝑣𝑣𝑣 · ℎ𝑒𝑒𝑒𝑒�

𝑚𝑚𝐻𝐻2
 Eq. 6.2 

 

With TPC being the total plant cost as shown in Eq. 6.3, calculated from the 

Component cost (Ci,2019) with indirect cost (%IC = 0.14), installation cost (%TIC = 

0.8) and owner’s and contingencies costs (%C&OC =0.15). heq stands for the 

operating hours of the plant within a year and the CCF represents the capital 

charge rate factor that matches the applicable finance structure and capital 

expenditure period. 

𝑇𝑇𝑇𝑇𝑇𝑇 = ���𝐶𝐶𝑖𝑖,2019 ∗ (1 + %𝑇𝑇𝑇𝑇𝑇𝑇)
𝑖𝑖

� ∗ (1 + %𝐼𝐼𝐼𝐼)� ∗ (1 + %𝐶𝐶&𝑂𝑂𝑂𝑂) Eq. 6.3 

 

The Capital Charge Factor for Independent Power Producers assuming three years 

as capital expenditure period and a finance structure of low risk, as the transition 

from a natural gas to a biogas plant does not incorporate significant diversities, is 
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set to 0.149. The membrane reactor setup, was assumed to be at the same 

technological readiness level [16]. 

For the determination of component cost, literature sources, reports and data 

available within the project of European Horizon2020 BIONICO were used 

[13,14,17]. The actual component cost was then scaled using equation Eq. 6.4, 

where the actualized component cost Ci,2019 is calculated from the reference cost 

(Ci,0) and the reference size (si,0), with the actual size (si) and the scale factor (f). 

The cost is then actualized by the CEPCI index of 2018 (603.1) and the one of the 

reference year. The cost assumptions concerning the operation and maintenance 

(O&M) and variable cost are shown in Table 6.3. 

Ci,2018 = �𝐶𝐶𝑖𝑖,0 �
𝑠𝑠𝑖𝑖
𝑠𝑠𝑖𝑖,0

�
𝑓𝑓

�
𝑦𝑦

CEPCI2018
CEPCIy

 Eq. 6.4 

 

Table 6.3. O&M fixed and variable costs 

O&M-Fixed Costs    

Labor Costs k€ 60 [18] 

Maintenance Cost %TPC 2.5 [15], [19] 

Insurance %TPC 2.0 [15], [19] 

Pd membrane tubes k€/m2 5.51 [20] 

Auxiliaries    

Electricity ct€/kWh 8 [21] 

Process Water €/tonne 2.0 [14] 

Cooling Water €/tonne 0.35 [14] 

Raw Materials    

AD Biogas €/GJ 3.46 [4] 

LF Biogas €/GJ 1.5 [4] 

Catalysts    

High Temperature WGS Fe-based  k€/m3 2.8 [14] 

Low Temperature WGS Cu-based k€/m3 2.8 [14] 

Activated Carbon €/kg H2S 0.77 [3] 

Ni/Al2O3 k€/m3 10 [14] 

Rh/Al2O3 k€/m3 53.1 [22] 

Waste Processing €/tonne  31.52 [23] 
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6.3. Results 

6.3.1. Reference plant 

A summary of the results for the reference plant is presented in Table 6.4. Both 

results of biogas coming from an anaerobic digester as well as from the landfill 

are analysed at two different pressures. The efficiency of both systems is 

increased when operating at an increased operating pressure of 20 bar, as less 

biogas is needed and the necessity of downstream compression of hydrogen is 

avoided. The cost of the equipment is also reduced, as less reactor volume is 

required and downstream compression of hydrogen is no longer required. The cost 

of hydrogen (COH) is found to be in the range of 6.37 - 6.68 €/kg with the 

presented assumptions. The COH is found to be strongly influenced by the cost of 

biogas. Thus the landfill gas results in lower operation cost, as it is cheaper. 

However, the capital cost is increased due to the lower concentration of methane. 

A breakdown of the capital cost is presented in Figure 6.3. These results are used 

as a comparative basis for the process employing a fluidized bed membrane 

reformer. 

Table 6.4. Results of the techno-economic analysis of the reference system.  

 AD 10 bar AD 20 bar LF 10 bar LF 20 bar 

Thermal Efficiency % 65.9 67.4 62.8 64.2 

Biogas [kg/h] 39.6 39.1 57.2 56.4 

Cost equipment [k€]  219 213 238 226 

Cost of H2 [€/kg] 6.48 6.24 6.68 6.37 

CAPEX [€/kg] 2.35 2.28 2.55 2.42 

OPEX fixed [€/kg] 2.59 2.56 2.61 2.56 

OPEX Var. [€/kg] 1.55 1.40 1.52 1.38 

 



E c o n o m i c  p e r s p e c t i v e  f o r  b i o g a s  t o  h y d r o g e n  | 163 

 
 

 

Figure 6.3. Breakdown of capital expenditures for the reference system.  
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6.3.2. Fluidized bed membrane reformer system 

To obtain the required membrane area the phenomenological model as shown in 

chapter 5 was used. The mass transfer was assumed to be equal to the case at 4 

U/Umf and 550 °C as obtained from the experimental results shown in chapter 5. 

Using the model for each case a graph where the hydrogen recovery is related to 

the load to surface ratio is obtained, as shown in Figure 6.4 for the case of AD 

biogas.  

 
Figure 6.4. Model results of hydrogen recovery factor vs load to surface ratio at two 
different pressures for AD biogas at 550 °C.  

The membrane reformer has shown to be able to overcome thermodynamic 

limitations and obtain very high conversions, as shown in previous chapters. 

However, when fully integrated in the system a very high recovery of hydrogen, 

with a corresponding very high conversion, is not always the optimal operation 

condition. From the analysis, it is found that with an increase in recovery the 

required amount of biogas to be burnt to maintain the reaction temperature is 

also increased. For each case presented in the following part therefore the optimal 

recovery was defined to minimize the COH. In Figure 6.5. Cost of hydrogen and 

fraction of biogas to the burner as a function of the hydrogen recovery for AD 

biogas at 10 and 20 bar. 
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Figure 6.5. Cost of hydrogen and fraction of biogas to the burner as a function of the 
hydrogen recovery for AD biogas at 10 and 20 bar. 

 

It was found that the minimum cost was between 66 and 70% of recovery at 10 

and 20 bar respectively for the AD biogas. For the LF biogas this was at 68% and 

71% of recovery at 10 and 20 bar operation, respectively. At this point very little 

extra biogas was required to be burnt, as the energy required could be almost 

obtained from the burning of the off-gas from the reactor. This resulted in a 

minimum total amount of biogas required. Moreover, the lower reaction 

temperature (550 °C) compared to the reference case contributed to a lower 

amount of biogas required and therefore a higher efficiency, see Table 6.5. Results 

of techno economic analysis of the fluidized be membrane reactor system.. 

Additionally, the capital cost could be reduced, because the WGS units and the 

PSA system were no longer required. However, as can be seen in the breakdown 

of the CAPEX in Figure 6.6, the costs of the membranes are responsible for a large 

part of the CAPEX. A significant reduction in the CAPEX can be obtained by 

operation at higher pressures, because the reduced membrane costs because of 

the decreased required membrane area, exceeds the increased costs of the 

compressor. However, the OPEX of the membrane reformer system is increased 

as a result of the power required to lower the partial pressure in the permeate 
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side (vacuum pump) and to increase the pressure of the hydrogen up to 20 bar 

(compressor), eventually resulting in a higher COH compared to the reference 

system, 6.62-6.47 €/kg. 

Table 6.5. Results of techno economic analysis of the fluidized be membrane reactor 
system. 

 AD 10 bar AD 20 bar LF 10 bar LF 20 bar 

Thermal Efficiency % 69.5 70.8 67.8 68.8 

Biogas [kg/h] 36.2 35.2 51.5 50.2 

Cost equipment [k€]  189 181 204 197 

Cost of H2 [€/kg] 6.58 6.47 6.62 6.55 

CAPEX [€/kg] 2.02 1.93 2.19 2.10 

OPEX fixed [€/kg] 2.65 2.57 2.68 2.59 

OPEX Var. [€/kg] 1.92 1.97 1.75 1.85 

 

 

Figure 6.6. Breakdown of capital expenditures of the fluidized bed membrane reactor 
system. 
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6.3.4. Discussion 

Membrane stability 

The results from the techno-economic analysis should be hold in strong regard to 

the work presented in this thesis. As discussed in chapter 2, membrane stability 

and performance are key to the success of the fluidized bed membrane system. 

The results presented here assume membranes operating for the lifetime of the 

plant, under these reforming conditions. As shown in chapter 2 there was still 

significant degradation of the membrane performance under the presented 

conditions. The developments of more resilient membranes, such as the double 

skin membranes presented by Arratibel et al. could offer a solution to these 

problems [24,25]. Other solutions that could increase membrane lifetime is a 

method, where the membrane defects are repaired [26]. The method could be 

developed in such way that the membrane repair treatment can be performed in 

the reactor itself under certain conditions. The method would utilise the effect of 

grain growth at high temperature to close formed defects. If the membranes could 

not be repaired, recycling of the membrane should be considered, where the 

recycling of the palladium decreases membrane cost. All three techniques should 

be further developed and studied, and should result in a decrease in the 

membrane cost, making the system more economically viable. These are 

developments that should go together with commercialisation of the membrane 

technology. As also is shown in chapter 2 that stable operation can be achieved 

at milder conditions, confirming the stability and potential of these membranes 

for reactor concepts that operate at lower temperatures. Increasing membrane 

production is also estimated to result in a decrease of the cost. 

H2S removal 

As demonstrated in chapter 3, the H2S removal is an important step in the process 

and cannot be dismissed, as the effect of the H2S on the membranes, catalyst and 

equipment is too significant. The search for more H2S resistant membranes should 

be continued, however membrane stability should be considered and not only be 

based on performance. Additionally, conditions should be intensified as operation 

is often at higher pressures and lower partial pressures of hydrogen, for current 

use of palladium-based membranes contact with H2S should be avoided and trace 
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amounts <0.25 ppm still need to be considered. Moreover, Rh as well as Ni-based 

catalysts are strongly influenced by sulphur poisoning. The resistance of a Rh-

based catalyst is found to be higher, however still also suffers from poisoning [27]. 

Beside this, H2S is not the only trace component in the biogas and also the 

presence of siloxanes and ammonia need to be considered for their potential effect 

on the system performance and durability.  

Operation conditions 

Chapter 4 explored the different effects of operation conditions on the steam 

reforming of biogas in a fluidized be membrane reactor. The results of the techno-

economic analysis show that the highest recovery is not always the optimal 

condition, when the optimization of the entire integrated system is considered. 

From the techno-economic analysis, it becomes evident that pressure and 

temperature can have positive effects on the reactor productivity, but can also 

decrease the system efficiency. Moreover, also the membrane stability imposes a 

temperature limit. They high diversity of different biogas feed compositions 

depending on the source only adds to the complexity of determining the best 

operation conditions. In the analysis presented in this chapter only 550 °C and 

two different operating pressures were investigated. However, further integration 

of the phenomenological reactor model and the Aspen Plus simulations could offer 

further insight in finding ideal operation conditions.  

An important parameter which is strongly influence by operation conditions is the 

amount of biogas used. The membrane system in comparison to the reference 

case uses less biogas. However, variable cost are higher due to the increased 

electricity consumption (due to vacuum pump and compressor). The small 

additional amount of biogas that is required for heating could be replaced by 

electrical heating. Therefore the membrane system shows a higher potential for 

electrification, which can be expected to become increasingly important in the 

near future.    

Catalyst 

The required amount of catalyst is calculated in relation to the required membrane 

area, considering the concentration of catalyst applied during the lab tests 
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described in chapter 5. As indicated in chapter 4, there are no kinetic limitations. 

This means that the amount of catalyst could be further reduced, hence reducing 

cost. Reducing the catalyst ratio to only 10% (a possible decrease considering the 

high activity of the catalyst) of the used amount would reduce the CAPEX with 

~2.3%. Moreover, the particle size could also have an influence on the stability of 

the fluidized bed, smaller particles might decrease the impact on the membrane 

surface enhancing the membrane stability. However, this might also affect the 

hydrodynamics of the system and change the mass transport towards the 

membranes. 

Mass transfer 

Concentration polarisation is discussed in both chapter 4 and 5. It was shown that 

the extent of concentration polarisation could be adequately described using the 

film layer model for the single membrane submerged in a fluidized bed. However, 

when scaling up in chapter 5 the influence of the fluidization behaviour becomes 

clear, as an increase in the velocity in the system improves the mass transfer 

rates towards the membranes. Moreover, it is shown that the inter-membrane 

distance also affects the concentration polarisation. The techno-economic analysis 

also allows evaluating the impact of concentration polarization on the COH. 

Therefore, a separate analysis was performed where the mass transfer coefficient 

as presented in chapter 5 was increased by 50% which brings it to the value 

obtained in the single membrane system (thus resembling the case where the 

mass transfer boundary layers of the membranes do not interact with each other). 

This results in a decrease in the required membrane area, and hence also in the 

amount of catalyst required reducing the cost of hydrogen. The results of the 

different cases are shown in Figure 6.7. 
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Figure 6.7. Cost reduction due to the increase in mass transfer towards the membrane.  

The strong impact of the mass transport in the system is evident as almost up to 

12% of the CAPEX could be reduced by an increase in the mass transfer rates. 

Further understanding of the mass transfer in fluidized beds could therefore help 

implementing further improvements on the concept, bringing the cost of hydrogen 

down to 6.19-6.27 €/kg. Increased velocities are therefore interesting, but the 

concomitant increase in demands on the membrane stability and geometry needs 

to be considered as well. The effects of concentration polarisation should therefore 

carefully be considered in the design of these systems. 

 

6.4. Conclusions 
Hydrogen is and will indispensable for our society. The production of hydrogen 

must shift from a fossil-based feedstock towards renewables to reduce the 

environmental impact of GHG emissions produced in the process. The use of 

biogas as a feedstock for hydrogen is one of the pathways towards renewable 

hydrogen. The fluidized bed membrane reactor is a reactor concept which enables 

the production of hydrogen from biogas. In this chapter the fluidized bed 

membrane reactor was compared with the reference of conventional steam 
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methane reforming at small scale. The cost of hydrogen for the reference case is 

found to be 6.37 - 6.68 €/kg. The origin of the biogas used shows to play a role 

as the cost of biogas can be significantly different depending on its source. It is 

shown that the operation conditions and reactor performance are strongly 

dependent on the integration within the entire system. The CAPEX can be 

significantly reduced. However, membrane cost remains a significant part. The 

use of a vacuum pump to reduce the partial pressure on the permeate side, 

together with the compressor to deliver the hydrogen at 20 bar, increases 

significantly the power demand of the concept, resulting in an increased OPEX 

compared to the reference. Bringing the cost of hydrogen production in a fluidized 

bed membrane reactor system to 6.47-6.62 €/kg. 

The most critical assumptions made in this analysis are also points that require 

further investigation and development and can potentially decrease the cost of 

hydrogen with the fluidized bed membrane reactor concept. These points have 

been identified as: 

• membrane stability and lifetime; 

• Operation conditions; 

• Concentration polarization. 

Where the latter is shown to be able to reduce the cost of hydrogen by almost 6% 

when the mass transfer is enhanced by 50%, the highest rate which was obtained 

in chapter 4 for the single membrane system, which resulted in a cost of hydrogen 

of 6.19-6.27 €/kg. This shows the potential of the fluidized bed membrane reactor 

to utilize biogas for the production of renewable hydrogen.  
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Nomenclature 
AD  Anaerobic digester 

CCF  Capital charge factor 

CEPCI𝑦𝑦  Chemical engineering plant cost index 

C&OC   Owner’s and contingencies costs € 

COH  Cost of hydrogen €/kg 

𝐶𝐶𝑂𝑂&𝑀𝑀,𝑓𝑓𝑓𝑓𝑓𝑓  Fixed operation and maintenance cost € 

𝐶𝐶𝑂𝑂&𝑀𝑀,𝑣𝑣𝑣𝑣𝑣𝑣  Variable operation and maintenance cost €  

𝐶𝐶𝑖𝑖,2018  Cost of equipment i 

𝐶𝐶𝑖𝑖,0  Reference cost of equipment i  

𝑓𝑓  Scale factor 

ℎ𝑒𝑒𝑒𝑒  Year equivalent operation 

IC  Indirect cost € 

LF  Landfill 

𝐿𝐿𝐿𝐿𝐿𝐿i  Lower heating value of component/mixture I in MJ/kg 

𝑚𝑚𝚤𝚤̇   Mass flow of i in kg/h 

𝑠𝑠𝑖𝑖  Size of the equipment i 

𝑠𝑠𝑖𝑖,0  Reference size of the equipment i 

TIC  Installation cost € 

TPC  Total plant cost € 

𝑊𝑊𝑎𝑎𝑎𝑎𝑎𝑎  Electrical consumption in MJ/h 

𝑦𝑦  Year 

𝜂𝜂𝑠𝑠  System efficiency 
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