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ABSTRACT 
Mass transfer phenomena in fluidized bed reactors with 
horizontally immersed membranes have been investigated 
using a verified and validated Two-Fluid Model. A binary 
hydrogen-nitrogen mixture was injected into the fluidized bed 
which was operated in the bubbling fluidization regime, and 
hydrogen was extracted via horizontally immersed 
membranes. The hydrogen flux is lowest on top of the 
membranes and highest at the bottom of the membranes. The 
main causes for the low flux on top of the membranes are 
densified zones and insufficient hydrogen replenishment due 
to the flow pattern of the gas. Gas pockets do not have a 
negative effect on the mass transfer towards the membranes. 
In systems with membrane tube banks, the membranes located 
at the walls perform worst, because solids mostly flow 
downwards near the walls of a fluidized bed, which causes gas 
back-mixing, which hinders hydrogen replenishment and 
thereby decreases the driving force for hydrogen transport. 
Removing the membranes closest to the wall increases the 
overall efficiency of the system. Replacing wall membranes 
with inactive tubes has no significant effect on the system. The 
membrane tube banks also have a significant effect on the 
hydrodynamics.  

Keywords: Two-Fluid Model, mass transfer, 
hydrodynamics, fluidized bed, membrane.  

 

NOMENCLATURE 
Latin Symbols 
A area        [m2] 
Cd drag coefficient      [-] 
D diffusion coefficient     [m2/s] 
e restitution coefficient   [-] 
g gravitational acceleration   [m/s2] 
M molar weight      [kg/mol] 
n power in Sieverts’ law    [-] 
p pressure        [Pa] 
Q membrane permeance    [mol/(m2.s.Pan)] 
R universal gas constant    [J/(mol.K)] 
Re Reynolds number     [-] 
S membrane mass source term   [kg/(m3.s)] 
t time        [s] 
T temperature       [K] 
u  velocity       [m/s] 
V volume        [m3] 

X molar fraction      [-] 
Y mass fraction      [-] 
 
Greek Symbols 

hold-up fraction      [-] 
 interphase drag coefficient   [kg/(m3.s)] 
 dissipation of fluctuation energy  [kg/(m.s3)] 
 granular temperature    [m2/s2] 
 conductivity of fluctuation energy [kg/(m.s)] 
 shear/dynamic viscosity    [Pa.s] 

ρ density        [kg/m3]
 shear stress tensor     [N/m2] 

 
Sub/superscripts 
c cell 
H2 hydrogen 
g gas 
i phase 
m membrane 
mf minimum fluidization 
p particle 
ret retentate 
s solid 
sim simulation 
tot total 
w wall 

INTRODUCTION 
Hydrogen is commonly produced by Steam Methane 
Reforming (SMR), which can be performed in (multi-
tubular) packed bed reactors. In the packed beds, 
methane reacts with steam to form carbon monoxide 
and hydrogen at temperatures around 1000 °C. 
Consecutively, the Water Gas Shift (WGS) reaction 
occurs; the carbon monoxide reacts with steam to form 
carbon dioxide and hydrogen. To ensure a high methane 
conversion, high temperatures and low hydrogen 
concentrations are required. Separating the unwanted 
byproduct CO2 from the outlet gas mixture requires 
complex and energy intensive separation units such as 
pressure swing adsorption columns, and will result in an 
increase in cost and energy usage, and a decrease in 
system performance (Medrano et al. (2014)).  
A promising new approach to circumvent the drawbacks 
of the current hydrogen production methods is 
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integrating the reaction and separation steps in one unit. 
Extracting hydrogen from the gas mixture with modern, 
high-flux hydrogen perm-selective palladium 
membranes purifies the hydrogen whilst simultaneously 
driving the chemical reaction equilibria towards the 
product side. The reactor can therefore operate at a 
lower temperature (600-700 °C) than the industrial 
process. The integration of hydrogen perm-selective 
membranes in packed bed reactors has already been 
investigated by Tsotsis et al. (1992), Tiemersma et al. 
(2006) and many others.  
In packed bed membrane reactor systems, catalyzed 
reactions and separation of product and waste are 
performed in the same unit. However, a major drawback 
of packed bed membrane reactors is the low mixing 
efficiency, causing temperature and concentration 
gradients in the reactor. When using state-of-the-art 
membranes, the system is not limited by the permeation 
rate, but limited by the mass transfer rate of hydrogen 
towards the membranes, which is called concentration 
polarization (Caravella et al. (2009)). To circumvent 
these drawbacks, fluidized bed membrane reactors have 
been proposed to extract hydrogen from the reaction 
mixture, see Adris et al. (1994), Gallucci (2008), 
Mleczko et al. (1996) and Hommel et al. (2012).  
Compared to packed bed membrane reactors, fluidized 
bed membrane reactors have better mixing properties, 
resulting in reduced mass transfer limitations towards 
the membranes. The hydrodynamics and mass transfer 
phenomena of the fluidized suspension can be strongly 
affected by the membrane configuration. Possible 
hydrodynamic consequences of installing membranes in 
fluidized beds have been demonstrated by e.g. De Jong 
et al. (2011), Dang et al. (2014), Tan et al. (2014), 
Wassie et al. (2015) and Medrano et al. (2015). 
Industrially, membranes immersed in the particle 
emulsion of a fluidized bed may be damaged due to 
attrition, so for large scale applications a protective 
nano-layer coating or a porous filter could be applied to 
prevent this. Having said this, Helmi et al. (2016) have 
successfully demonstrated the long term (over 900 
hours) performance of a fluidized bed membrane reactor 
utilizing very high flux membranes for ultra-pure 
hydrogen production via WGS. 
Membranes are mostly inserted vertically in reactors. 
Helmi et al. (2017) have demonstrated that when using 
state-of-the-art high-flux palladium membranes to 
extract hydrogen from a hydrogen/nitrogen gas mixture, 
mass transfer limitations from the bed to the membrane 
(concentration polarization) can severely limit the 
extracted flux. Furthermore, recent experimental 
findings suggest that vertically immersed membranes 
hardly affect the gas bubbles that are passing by. By 
inserting the membranes perpendicular to the flow 
direction (i.e. horizontally), the membranes can cut 
large gas bubbles into smaller ones, hereby improving 
the mixing efficiency of the bed. Previous studies by 
Medrano et al. (2015), De Jong et al. (2012), Asegehegn 
et al. (2011), Rong et al. (1999), Solnordal et al. (2015), 
Wang et al. (2015), Yang et al. (2014) and Sarkar et al. 
(2013) on horizontal tubes immersed in fluidized beds 
have already proven that tubes have a significant effect 
on the bed hydrodynamics. However, very little work 

has been done on mass transfer phenomena in fluidized 
bed reactors with horizontally immersed membranes.  
This work is a numerical study on the mass transfer 
phenomena in fluidized bed reactors with horizontally 
immersed membranes. The goal of this work is to 
describe, identify and explain the most important mass 
transfer phenomena occurring in fluidized beds with 
horizontally immersed membranes. Explaining the mass 
transfer phenomena will also require relating the 
observed mass transfer phenomena to the 
hydrodynamics. For example, Medrano et al. (2015) 
found that gas pockets (solids free, non-rising gas 
bubbles) occur underneath and densified particle zones 
occur on top of horizontally submerged membranes. 
The gas pockets and densified zones may affect the 
mass transfer towards the membranes and could 
therefore have a noticeable effect on the system 
performance.  
Because palladium-based membranes are quite 
expensive, placing them at locations where they perform 
sub-optimally should be avoided. Exploratory 
simulations have already indicated that reduced 
hydrogen concentrations are mostly found at 
membranes near the bed walls (see Voncken et al. 
(2015)), so the performance of these membranes are 
especially worth investigating. Therefore, we have 
simulated fluidized beds with various membrane tube 
bank configurations with and without membranes near 
the bed walls. However, simply removing membranes 
near the wall could also affect the solids circulation 
patterns, the bubble cutting behavior of the tube banks 
and could induce gas bypassing via the walls, so 
fluidized beds with inactive tubes instead of membranes 
near the walls were also simulated. 
A Two-Fluid Model (TFM) was used to perform the 
simulations and to obtain detailed information on the 
mass transfer phenomena occurring near the 
membranes. The OpenFOAM v.2.3.0 TFM 
(twoPhaseEulerFoam) was used as hydrodynamic 
framework, and was extended with a species balance 
equation and realistic membrane models to simulate 
selective extraction of hydrogen from the system.  
First, the model equations, verification and validation 
will be discussed. Special attention will be given to the 
implementation of the species balance, the 
implementation of the membrane source term and the 
membrane boundary condition. Next, the simulation 
settings and the tube bank geometries will be presented. 
In the results section, the most important mass transfer 
phenomena and hydrodynamics will be presented and 
explained. 

MODEL DESCRIPTION 
A TFM considers the gas and solids phase as 
interpenetrating continua. The most important 
governing and constitutive equations are presented in 
equations 1 through 6. The continuity equations (1) of 
both gas and solids phase are very similar. The source 
term S is added to the gas continuity equation to take 
into account the extraction of gas via membranes. The 
membrane source term will be presented in the mass 
transfer and membranes section. Compared to the 
Navier-Stokes equations of the gas phase (2), the 
Navier-Stokes equations for the solids phase (3) contain 
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an additional solids pressure term ps. For both phases a 
Newtonian stress tensor ττττ  is employed. The gas phase 
density is described with the ideal gas law. Furthermore, 
the granular temperature equation (4) is solved. The 
granular temperature equation incorporates the mean 
particle velocity and a superimposed fluctuating 
component, taking into account the vibrations of 
particles due to collisions.  
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The drag between the solids and the gas phase is 
modelled according to Gidaspow (1994), which 
combines the drag model of Ergun et al. (1949) and 
Wen et al. (1966). Ergun’s model is valid for high solids 
hold-ups (20% and higher) and Wen’s model is valid at 
lower solids hold-ups (below 20%). The drag coefficient 
Cd is determined based on the Reynolds particle 
number. The drag models are described in equations 5 
until 9.  
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Kinetic Theory of Granular Flow 
To simulate the rheological and collisional properties of 
the solids phase’s continuum approximation more 
realistically, various KTGF closure equations are 
required. The closure equations used in this work are 

presented in Table 1. Further details on the TFM-KTGF 
can be found a.o. in Lun et al. (1984), Kuipers et al. 
(1992), Gidaspow (1994), Van Wachem (2000), Rusche 
(2003) and Van Der Hoef et al. (2006). Details on the 
OpenFOAM TFM can be found in Passalacqua et al. 
(2011) and Liu et al. (2014).  
 

Table 1: KTGF closures used for TFM simulations. 

Quantity Closure 
Solids shear viscosity Nieuwland et al. (1996) 
Solids bulk viscosity Lun et al. (1984) 
Solids pressure Lun et al. (1984) 
Frictional stress Srivastava & Sundaresan (2003) 
Conductivity of fluct. energy Nieuwland et al. (1996) 
Radial distribution function Ma & Ahmadi (1984) 
Dissipation of gran. energy Nieuwland et al. (1996) 

 

Mass transfer and membranes 
Mass transfer phenomena and hydrogen extraction via 
membranes was modeled similar to the approach of 
Coroneo et al. (2009). A hydrogen mass balance with 
Fickian diffusion was added to the model. The mass 
balance is a transient convection-diffusion equation as 
shown in equation 10. The diffusion coefficient can 
have a significant effect on the hydrogen flux. The 
selective extraction of hydrogen via the membranes was 
taken into account via the source term, Sm, which is 
applied to the computational cells adjacent to a 
membrane boundary (the red cells in Figure 1). The 
source term in equation 10 is the membrane flux 
calculated with Sieverts’ law, multiplied by the 
boundary cell’s area Ac, divided by the cell volume Vc, 
see equation 11.  
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Figure 1: Schematic representation of how and where the 
membrane source term has been implemented in the grid.

The extraction of mass via a membrane will also result 
in momentum extraction from the system. Therefore, a 
boundary condition was added for the membranes to 
ensure momentum leaves the system. The momentum 
flux is based on the magnitude of the extractive flux. 
The boundary condition ultimately imposes a velocity 
normal to the membrane boundary (see equation 12). 
For fluidized beds momentum extraction could be an 



R.J.W. Voncken, I. Roghair, M. van Sint Annaland 

 

important topic, because the it can cause densified zones 
to form near the membranes. Extracting a large amount 
of the momentum from a fluidized bed can even alter 
the flow pattern of the solids, as shown by De Jong et al. 
(2012) and Dang et al. (2014). The work of Helmi et al. 
(2017) has shown that selective extraction of hydrogen 
has an effect on the bed hydrodynamics, but that this 
effect is relatively small.  
 

2
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m

H c

S RT Vu
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            (12) 

Boundary conditions 
All simulations have been performed with a 2D 
computational domain. For the gas mixture, a no-slip 
boundary condition was applied to the left and right 
walls, a constant gas velocity was imposed at the inlet, 
an imposed pressure condition was set at the outlet and 
the boundary condition of equation 12 was applied at 
the membranes. For the solids velocity and granular 
temperature, a Johnson & Jackson partial slip boundary 
condition with a specularity coefficient of 0.50 was 
applied on the walls and membranes (see Johnson et al. 
(1987)).  

Numerical schemes and accuracy 
The temporal discretization was done with the second 
order Crank-Nicolson scheme. All simulations were run 
with an adjustable time-step, with a maximum time-step 
of 1.10-5 s. The selected time-step value each iteration 
was selected based on a maximum Courant number of 
0.1. A combination the second order Gauss linear and 
Van Leer scheme were used for spatial discretization. 
The numerical tolerances for the residuals were set to 
1.10-11  for each quantity. 

VERIFICATION, VALIDATION, GEOMETRIES 
AND SETTINGS 

Verification and validation
The fluid, solid and mass transfer part of the TFM have 
all been verified and validated. The fluid part of the 
model has been verified by comparing gas flow profiles, 
convection and diffusion of a chemical specie to their 
respective analytical solutions. Gas flow profiles and the 
pressure drop in a flat rectangular column (pseudo 2D) 
match very well with the analytical solution of White et 
al. (1991), even for very coarse grids. Furthermore, 
combined convection-diffusion of a specie were 
compared to the analytical solution found in Mohsen et 
al. (1983). Especially at finer grids and time-steps of 
0.001 s and below, the TFM results match well with the 
analytical solution and the numerical diffusion 
decreases significantly.  
Helmi et al. (2017) have used this TFM to simulate an 
experimental reactor with one vertically immersed 
membrane in the center. The TFM was able to predict 
the experimental fluxes very well and proved to be a 
useful tool to determine concentration profiles in 
fluidized bed membrane reactors.  
The model was also validated by comparing 
experimental bubble properties to the simulated ones. 
The bubble properties match well with experimental 

bubble diameter and velocity data obtained via Digital 
Image Analysis of thousands of gas bubbles. 
The accuracy of the model for densely packed systems 
is important because densified zones are expected to 
occur frequently in fluidized bed membrane reactors, 
especially on top of the membranes and near the walls. 
Therefore, the predicted TFM pressure drop over a 
pseudo 2D packed bed injected with air ( g=1.2 kg/m3, 

g=1.84.10-5 Pa.s) was compared to the Ergun equation 
and experimental pressure drop data for 500 m 
particles with a density of 2500 kg/m3 (see Figure 2). 
The TFM results match well with the experimental data 
and with the Ergun equation. The minimum fluidization 
velocities determined by experiments and TFM are 
0.218 and 0.212 respectively, and match very well. The 
small difference between the slopes of the experimental 
and TFM/Ergun equation is caused by the difference 
between the TFM and experimental porosity at 
minimum fluidization velocity.  

 

Figure 2: Pressure drop versus gas velocity for experiments, 
TFM simulations and Ergun equation calculations based on 

the TFM porosity.

Geometries and model settings 
A grid sensitivity study was performed for fluidized bed 
membrane reactors with one membrane in the center of 
the bed. The flux around the membrane is not uniform 
and is lowest on top of the membrane. Furthermore, the 
time-averaged solids hold-up on top of the membranes 
is higher than elsewhere around the membrane, which 
could suggest there is a relation between the reduced 
flux and increased solids hold-up. Further details will be 
discussed in the results section.  
The tested grids are displayed in Figure 3 and are 
labeled coarse (28 cells counted around the 
circumference of the membrane), middle (64 cells) and 
fine (128 cells). The computed fluxes of the different 
grids were time-averaged over 25 seconds of simulation 
time and compared to each other to verify whether grid 
independent results were obtained. The coarse grid was 
not yet grid independent, whereas the middle and fine 
grid are relatively close to each other. The large number 
of grid cells in the fine grid would however require the 
simulations to be run at unfeasibly small time-steps, 
which would result in very long simulation times, 
especially when extending this to systems with 
membrane tube banks. Therefore, the middle grid was 
used for all further cases studied in this work.  
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Figure 3: Grids around membranes for a coarse grid with 28 
cells (left), middle grid with 64 cells (middle) and fine grid 
with 128 cells (right) adjacent to the membrane boundary. 

Various horizontal membrane configurations were 
simulated. To keep practical simulation times, full 2D 
simulations were performed. As Asegehehn et al. (2011) 
reported, bubble behavior is quite similar for 2D and 3D 
systems with immersed tubes. The simulation settings 
are given in Table 1. The configurations and 
dimensions of the tube banks are presented in Figure 4. 
Configurations (a)–(d) are the base cases called Wall 
Membranes (WM), because membranes are present 
close to the bed walls. In configurations (e)–(h) the 
membranes closest to the walls have been removed, so 
they are called No Wall Membranes (NWM). In 
configurations (i)–(l) the membranes near the walls 
have been replaced with inactive tubes (portrayed as 
open black circles), so they are referred to as Tubes (T). 
The Tubes cases have the same membrane area as the 
No Wall Membranes cases, but the same 
membrane/tube locations as the Wall Membranes cases. 
The hydrodynamic effect that objects near the bed walls 
have on the system performance can hereby be 
quantified. The membrane tube banks have either been 
placed in a staggered or in an in-line configuration. The 
Full Staggered (FS) cases are configured in the same 
way as the Half Staggered (HS) cases, except they have 
double the number of membranes. This is also the case 
with the Full In-line (FI) and Half In-line (HI) 
configurations. Industrially, the half tube bank cases 
could be useful for auto-thermal reactions; the empty 
bottom section can be used to generate heat for the 
reaction by combustion. Furthermore, overloading the 
system with too many modern high flux membranes will 
result in a low performance per membrane, which 
would make the system less feasible.  
 

Table 1: Summary of TFM simulation settings for all 
horizontal membrane cases.  

Par. Value Par. Value 
Width 0.30 m p 2500 kg/m3 
Height 0.90 m DH2 1.0.10-4 m2/s 
Nc,width 150  Qpd 4.3.10-3 mol/(m2

 s Pan) 
Nc,height 450  n 0.50 
dm 9.6 mm T 405 °C 
dp 500 m XH2,in 0.25 
epp 0.97  poutlet 1.6.105 Pa 
epw 0.97  pperm 0.01.105 Pa 
u/umf 3.0  tsim 30 s 
umf 0.21 m/s tmax 1.10-5 s 
 
 

 

Figure 4: Membrane tube bank configurations:  
Wall Membranes  

(a) Full Staggered (WM FS); (b) Half Staggered (WM HS); 
(c) Full In-line (WM FI); (d) Half In-line (WM HI).  

No Wall Membranes  
(e) Full Staggered (NWM FS); (f) Half Staggered (NWM HS); 

(g) Full In-line (NWM FI); (h) Half In-line (NWM HI).  
Wall Tubes (black open circles)  

(i) Full Staggered (T FS); (j) Half Staggered (T HS); (k) Full 
In-line (T FI); (l) Half In-line (T HI). All given measurements 

are in mm. 

RESULTS 

Mass transfer limitations 
The main mass transfer limitations in fluidized beds 
with horizontally immersed membranes are at the 
membranes located near the bed walls (Figure 5). The 
time-averaged hydrogen mole fractions are lowest on 
top of the membranes near the walls. For the full in-line 
configuration (Figure 4 c) the time averaged hydrogen 
flux of the membranes at the walls is in some cases half 
of the flux of the all membranes in the middle. The flux 
of the membranes in the middle does show a similar 
trend as the flux of the membranes near the walls. Mass 
transfer is mostly limited on top of the membranes, 
whereas the best performance is found at the bottom of 
the membranes. This flux profile can be related to 
hydrodynamic effects that have already been observed 
by Medrano et al. (2015). In their work, densified zones 
and gas pockets were found to be potential mass transfer 
limitations for horizontally immersed membranes.  
In the next section, the effect of these densified zones 
and gas pockets on mass transfer of hydrogen towards 
horizontally immersed membranes will be discussed in 
more detail.  
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Figure 5: Time-averaged hydrogen flux at various angles 
around the membranes, and a snapshot of time-averaged 

hydrogen mole fractions, both for the full inline membrane 
tube bank configuration.

Densified zones, gas pockets and gas flow 
patterns 
Gas pockets and densified zones are observed both in 
TFM simulations and during experiments. Gas pockets 
are formed because the downward movement of solids 
shields  the underside, which can cause areas with very 
little solids content to form underneath the membranes. 
Gas pockets mostly appear near the walls, but they can 
be found underneath any horizontally immersed 
membrane.  
No significant effect of gas pockets on the mass transfer 
towards the membranes was found. Figure 6 shows two 
snapshots, one taken right before the gas pocket occurs, 
and one while the gas pocket is at its largest. Similar to 
regular bubbles in fluidized beds, the gas mixture 
follows the path of least resistance and therefore flows 
through areas with the lowest particle content, such as 
gas pockets. The streamlines show that the gas flowing 
around the membrane has a significant effect on where 
reduced hydrogen concentrations are observed. The gas 
cannot easily flow to the top of the membranes, which 
enables solids to accumulate here (densified zones), 
making it more difficult to quickly replenish hydrogen 
here.  

 
Figure 6: Snapshot of the solids hold-up, hydrogen mole 

fraction and gas velocity streamlines around a horizontally 
immersed membrane with and without a gas pocket. 

 

Densified zones can be present on top of membranes 
anywhere in the reactor. Similar to gas pockets, they 
mostly occur at the membranes that are located near the 
bed walls, because the solids flow downwards onto the 
top of the membranes there. Next to solids down flow, 
Figure 7 shows that an important reason for densified 
zones to form is that gas cannot easily reach the top of 
the membranes. The gas velocities are especially low 
near the membranes close to the walls. Because of the 
no-slip behavior of the gas near the walls, the gas has 
insufficient momentum to move the downward flowing 
solids away from the membranes near the walls. In the 
middle of the reactor, less densified zones are present, 
but they still occur because the gas cannot always reach 
the top of the membrane easily.  
The time-averaged hydrogen mole fractions in Figure 7 
show that densified zones have a detrimental effect on 
mass transfer towards the membrane. On top of the 
membrane, the hydrogen mole fractions (thus also the 
hydrogen fluxes) are significantly lower compared to 
elsewhere around the membrane. The effect is mostly 
noticeable near the walls, where clearly some gas back-
mixing is visible, but also in the middle of the reactor a 
reduced hydrogen flux was observed on top of the 
membrane. This is intrinsic to the way the membranes 
are placed compared to the flow direction.  the gas 
cannot always reach the top of the membrane easily, 
because the membrane itself shields the top-side of the 
membrane. In Figure 5 this is visible, because the time-
averaged hydrogen flux is also lower on top of the 
membranes in the middle.  

 

Figure 7: Snapshot of the time-averaged solids hold-up, 
hydrogen mole fractions and gas velocities (in m/s) in a 
fluidized bed with a full in-line membrane tube bank.

 
Effect of tube bank configuration on hydrogen 
flux 
The main mass transfer limitations towards the 
membranes have already been identified near the bed 
walls. This section will quantify how much the mass 
transfer limitations affect the flux for various membrane 
tube bank configurations. Figure 8 and Figure 9 
present the time-averaged hydrogen flux profiles at 
various width positions and various angles around the 
membranes for all the full in-line and half in-line 
configurations from Figure 4. The membranes near the 
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walls perform approximately three to five times worse 
than the membranes in the middle of the reactor for the 
full and half in-line configurations. Adding inert tubes 
near the walls does not have a significant effect on the 
system performance. The polar plots in Figure 8 and 
Figure 9 show that when active membranes are placed 
close to the walls, the averaged flux of all membranes is 
reduced. The in-line configurations with half tube banks 
show similar behavior to the full tube bank 
configurations.  
In general, the flux over the reactor width in the full 
staggered configurations is more equal over the width 
than in the full in-line one (see Figure 10). However, 
some of the membranes that have not been removed in 
the full staggered configuration still have reduced flux, 
even though the difference between the highest and the 
lowest flux is about a factor two. In general the results 
show that membranes that are approximately within 8 
cm distance of the walls (about 20% of the total bed 
width) suffer from reduced flux. Because bubbles 
cannot channel through the staggered membrane tube 
banks, the membranes near the walls perform better in a 
staggered configuration than in an in-line one. The flux 
is slightly higher for the membranes in the middle of the 
half tube bank configurations, because in the full tube 
bank configurations a lot of the hydrogen has already 
been extracted before it reaches the membranes in the 
top of the tube bank, which results in lower fluxes for 
the top membranes.  
 

 

Figure 8: Time-averaged flux for the full in-line tube bank 
configurations without wall membranes, with inert tubes at the 

walls and with wall membranes; (left) flux versus relative 
reactor width (right) flux averaged over all membranes at 

various angles around the membranes.

 
Figure 9: Time-averaged flux for the full staggered tube bank 
configurations without wall membranes, with inert tubes at the 

walls and with wall membranes; (left) flux versus relative 
reactor width (right) flux averaged over all membranes at 

various angles around the membranes. 
 

 

Figure 10: Time-averaged flux for the half in-line tube bank 
configurations without wall membranes, with inert tubes at the 

walls and with wall membranes; (left) flux versus relative 
reactor width (right) flux averaged over all membranes at 

various angles around the membranes.

CONCLUSION 
The performance of fluidized bed membrane reactors 
with various horizontally immersed membrane tube 
bank configurations was investigated. The flux is lowest 
at the top of the membranes and highest below the 
membranes. The densified zones and the gas flow 
patterns have a significant negative effect on the 
hydrogen permeation flux. Gas pockets have no 
negative effect on the mass transfer from the emulsion 
phase to the membrane. However, gas pockets could 
reduce the reaction rate of systems in which the 
extracted product is produced via a catalytic reaction.  
In systems with tube banks, membranes that are placed 
close to the fluidized bed walls show significantly lower 
performance than the membranes in the center of the 
bed. The down flowing solids and reduced gas flow near 
the walls keeps the flux low here. Replacing the wall 
membranes with inactive tubes does not have a 
significant positive effect on the system, so removal of 
the wall membranes is therefore advised. In case of 
exothermal or endothermal reactions, wall tubes can 
perhaps be used for internal cooling or heating.  
Future work on fluidized beds with horizontally 
immersed membranes should focus on methods to 
reduce the mass transfer limitations towards the 
membranes. Potential methods include having a non-
uniform gas feed, pulsating gas inlet flow rate, changing 
the membrane pitch and using as large as possible 
particles to increase the dispersion effects. 
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