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Summary - On the
hydrodynamics in gas phase
polymerization reactors

Polyolefins are polymers produced from olefins such as ethylene and/or
propylene. Although polyolefins can be produced via different produc-
tion methods, the gas-phase polymerization process based on fluidized
bed reactor technology is the most important method for the production
of polyethylene since the 1980’s and also polypropylene is increasingly
produced via the gas-phase polymerization process. Although fluidized
bed reactors have been employed for several decades in the chemical
industry, quantitative information on solids motion and macroscopic
circulation patterns is still incomplete.

To investigate the macroscopic circulation patterns in a freely bub-
bling, gas-solid fluidized bed, first the hydrodynamics in two pseudo-2D
columns of different width filled with glass beads and Linear Low Density
Polyethylene (LLDPE) particles have been investigated (both exhibiting
Geldart B type behavior) experimentally with two optical non-invasive
measuring techniques. Particle Image Velocimetry (PIV) combined with
Digital Image Analysis (DIA) has been developed to determine simulta-
neously the emulsion phase circulation patterns, bubble hold-up, bub-
ble size and velocity distributions and visual bubble flow rate profiles.
The combination of DIA with PIV allows correcting for the influence of
particle raining through the roof of the bubbles on the time-averaged
emulsion phase velocity profiles. The number-averaged emulsion phase
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SUMMARY

circulation patterns have been measured as a function of fluidization ve-
locity, bed aspect ratio, bed width and bed material. Moreover, with DIA
the average bubble diameter and averaged bubble velocity as a function
of height and fluidization velocity have been determined and found to
correspond reasonably well with literature correlations. However, the
difference in averaged bubble diameter as a function of the height in the
fluidized bed for the two different particle types could not be explained
by the currently available correlations for the bubble diameter. The dif-
ference in observed bubble properties is attributed to differences in the
particle collisional properties (coefficients of restitution and the particle
friction coefficient).

To verify this hypothesis, the influence of microscopic particle prop-
erties on the hydrodynamics in a bubbling fluidized bed have been in-
vestigated in detail using the Discrete Particle Model (DPM) and the
Two-Fluid Model (TFM). It was concluded that, for the conditions in-
vestigated, indeed bubbles are formed due to collisional dissipation of
mechanical energy. Furthermore, the nature (i.e. due to restitution
or friction) of the energy dissipation is important for the shape of the
bubbles. In addition it is shown that in a bubbling fluidized bed, the
energy is mainly dissipated by friction between particles and particles
and the wall. The influence of the normal restitution coefficient on
the macroscopic circulation pattern was also investigated with the Two-
Fluid Model. The observed influence of the coefficient of restitution in
the normal direction agreed with the influence of the coefficient of resti-
tution in the normal direction in the DPM. Also the experimental results
obtained with the PIV combined with DIA measurements for the solids
phase and DIA measurements for the bubble behavior were compared
with simulations performed with the DPM and the TFM. It was shown
that the trends for the emulsion phase and the bubble phase can be
predicted with the DPM.

The solids and bubble behavior in a freely bubbling, three dimen-
sional, gas-solid fluidized bed has been experimentally investigated us-
ing different bed materials, different bed aspect ratios at different super-
ficial gas velocities by performing Positron Emission Particle Tracking
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(PEPT) experiments. The fluidized bed was filled with either glass beads
or with linear low density polyethylene (LLDPE). At lower superficial gas
velocities two distinct vortices appear above each other for both types of
bed material; when the superficial gas velocity is increased, the lower
vortex disappears and the top vortex spans the entire length of the bed.
Although qualitatively the same phenomena were observed, the time-
averaged solids phase circulation rate in the fluidized bed filled with
LLDPE particles was higher than the time-averaged solids phase velocity
in the fluidized bed filled with glass beads. When the bed aspect ratio is
increased from 1 to 1.5, the vortices become elongated without altering
the solids circulation rate. Differences in the particle-particle collisional
properties (coefficients of restitution and friction particle coefficients) are
believed to be the cause of the observed quantitative differences in the
bed hydrodynamics via their influence on the bubble properties.

Finally, the hydrodynamic behavior of industrial scale bubbling flu-
idized bed reactors, a 3D Discrete Bubble Model (DBM) has been used.
In the DBM, an Euler-Lagrange model, the bubbles are treated as dis-
crete elements and the bubble trajectories are tracked individually, while
the emulsion phase is considered as a continuum and is described with
the continuity and Navier-Stokes equations. The main advantage of the
DBM is that it fully accounts for the two-way coupling, allowing compu-
tation of the prevailing macroscopic circulation patterns in large scale
gas-fluidized beds. We have examined the effects of bubble-bubble inter-
actions on the macro-scale velocity profiles using the DBM. It has been
found that the extent of the macroscopic circulation is significantly in-
creased by the bubble-bubble interaction forces.






Samenvatting - Over de
hydrodynamica in gasfase
polymerisatie reactoren

Polyolefinen zijn polymeren die worden geproduceerd met olefinen zoals
ethyleen en propyleen als grondstof. Hoewel polyolefinen via verschil-
lende productieprocessen kunnen worden vervaardigd, heeft sinds de
jaren 80 het gasfase polymerisatie proces, die gebaseerd is op gas-vast
wervelbed reactor technologie, het grootste marktaandeel voor de pro-
ductie van polyethyleen. Eveneens wordt polypropyleen steeds vaker
met wervelbed technologie geproduceerd. Alhoewel wervelbedden al
meerdere decennia in de chemische industrie worden toegepast, is
kwantitatieve informatie over het deeltjes gedrag in de gas-vast suspen-
sie in deze reactoren nog steeds schaars.

Om de macroscopische circulatiepatronen in een gas-vast wervelbed
nader te onderzoeken, is eerst de hydrodynamica in twee verschil-
lende pseudo twee-dimensionale kolommen, gevuld met glas deeltjes of
met lineaire lage dichtheid polyethyleen (LLDPE) deeltjes (beide deeltjes
typen vertoonden Geldart B type gedrag), experimenteel onderzocht met
twee optische niet-invasieve meettechnieken. Particle Image Velocimetry
(PIV) gecombineerd met Digital Image Analysis (DIA) is ontwikkeld en
gebruikt om simultaan de stromingsprofielen van de deeltjesfase en de
belfractie, belgrootte, belsnelheidsverdeling en het visuele bellen debiet
in het gas-vast wervelbed te bepalen als functie van de operatie condities
en deeltjestype. De combinatie van PIV en DIA maakt het mogelijk om
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SAMENVATTING

de gemiddelde deeltjessnelheden te corrigeren voor de deeltjes die door
het “dak” van de bellen naar beneden “regent”. De aantal gemiddelde
deeltjessnelheidsprofielen zijn gemeten als functie van de superficiéle
gassnelheid, bed aspect ratio, bedbreedte en bedmateriaal. Eveneens
is de gemiddelde belsnelheid en beldiameter bepaald met behulp van
DIA, en is aangetoond dat de gevonden experimentele resultaten redelijk
goed overeen komen met correlaties uit de literatuur. Het verschil in de
gemiddelde beldiameter als functie van de hoogte voor de twee verschil-
lende deeltjestypen kan niet worden verklaard met de correlaties die in
de literatuur beschikbaar zijn. Het verschil in de geobserveerde beleigen-
schappen wordt toegeschreven aan verschillen in botseigenschappen
van de deeltjes die het bed vullen (restitutiecoéfficiénten en de deelt-
jeswrijvingscoéfficiént).

Om deze hypothese the verifiéren, is de invloed van de micro-
scopische deeltjeseigenschappen op de hydrodynamica in een gas-vast
wervelbed in detail onderzocht met behulp van het Discrete Particle
Model (DPM) en het Two-Fluid Model (TFM). Uit simulatie resultaten met
het DPM is geconcludeerd dat, voor de onderzochte omstandigheden, de
bellen inderdaad worden gevormd door mechanische energie-dissipatie
van de deeltjes tijdens botsingen met andere deeltjes of met de wand
van de reactor. Daarnaast is de manier waarop de deeltjes hun energie
verliezen belangrijk voor de vorm van de bellen (m.a.w. door botsing
of wrijving met andere deeltjes of met de wand). Eveneens is aange-
toond dat in een gas-vast wervelbed de energiedissipatie voornamelijk
door wrijving tussen deeltjes en tussen deeltjes en de wand optreedt. De
invloed van de restitutiecoéfficiént in de normale richting is eveneens
onderzocht met behulp van het TFM. De waargenomen invloed van de
restitutiecoéfficiént in de normale richting op de hydrodynamica komt
overeen met de invloed van de restitutiecoéfficiént in de normale richting
die is waargenomen met het DPM. Tevens zijn de experimentele resul-
taten verkregen met PIV en DIA, vergeleken met de resultaten verkregen
uit de DPM en TFM simulaties. Hieruit blijkt dat de trends voor de
deeltjesfase en voor de bellenfase goed kan worden beschreven met het
DPM.



Het deeltjes- en bellengedrag in een drie-dimensionale gas-vast
wervelbed gevuld met verschillend bed materiaal (glas en LLDPE deel-
tjes), bij verschillende bedhoogtes en gassnelheden onderzocht met be-
hulp van Positron Emission Particle Tracking experimenten. Bij lage
superficiéle gassnelheden ontstaan er voor de beide bed materialen twee
duidelijke wervelingen boven elkaar. Wanneer de superficiéle gassnel-
heid wordt verhoogd, verdwijnt de onderste werveling en reikt de boven-
ste over het gehele wervelbed. Hoewel kwalitatief dezelfde fenome-
nen zichtbaar zijn, zijn de tijdsgemiddelde deeltjesfase circulatiesnel-
heden voor het bed gevuld met LLDPE deeltjes hoger dan de tijdsgemid-
delde deeltjesfase circulatiesnelheden voor het met glasdeeltjes gevulde
wervelbed. Wanneer de bed aspect ratio wordt verhoogd van 1 naar
1.5, worden de wervelingen langwerpiger zonder dat de deeltjes cir-
culatie snelheid verandert. Het verschil in de geobserveerde deeltjes-
fase hydrodynamica kan worden verklaard door de verschillen in bots-
eigenschappen van de deeltjes in het bed (restitutiecoéfficiénten en de
deeltjeswrijvingscoéfficiént).

Tenslotte is de hydrodynamica van een industri€éle schaal wervelbed
onderzocht met behulp van een drie-dimensionale Discrete Bubble
Model (DBM). In het DBM, een Euler-Lagrange model, worden de bellen
behandeld als discrete elementen en worden de beltrajecten voor elke
bel individueel berekend, terwijl de deeltjesfase als continutim wordt
beschouwd, dat wordt beschreven met behulp van de continuiteits- en
Navier-Stokes vergelijkingen. Het grote voordeel van het DBM is dat
het volledig de zeer belangrijke twee-weg koppeling tussen de bellen-
en de deeltjesfase meeneemt, wat noodzakelijk is om de macroscopis-
che deeltjescirculatiepatronen in grote schaal gas-vast wervelbedden te
kunnen berekenen. Met het DBM zijn de effecten van bel-bel interacties
op de macroschaal snelheidsprofielen onderzocht. Vastgesteld is dat
de macroscopische deeltjescirculatie significant wordt vergroot wanneer
rekening wordt gehouden met bel-bel interactie krachten.
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CHAPTER 1 I

General Introduction

Abstract

In this chapter a brief introduction to polyolefins and the production of
polyolefins is given. Although the polyolefins are produced in fluidized
beds since the 1960’s, the behavior of the gas and particle phase in these
gas-phase polymerization reactors is not yet fully understood. To study
the gas-phase polymerization reactors, a multi-scale approach has been
adopted. A brief overview of the production of polyolefins, the macroscopic
circulation patterns in a industrial scale fluidized bed, microscopic particle
properties and the multi-scale approach are presented, followed by the
research objectives and the project goal. Finally the outline of the thesis
is given.



1. GENERAL INTRODUCTION

1.1 Polyolefins

Polyolefins are polymers which are produced from olefins such as ethy-
lene or propylene. The annual world wide production of polyolefin resins
in 2005 was approximately 100 million metric tons (Kissin (2005)).
This corresponds to more than 50% of the total plastic production.
Polyethylene accounts for 60-65% of the total polyolefin production and
polypropyle accounts for approximately 35%. Polyolefins can be pro-
duced via different production methods, however the gas-phase poly-
merization process is the most important method for the production of
polyethylene since the 1980’s and also polypropylene is increasingly pro-
duced via the gas-phase polymerization process (Burdett (2001)).

Burdett (2001) stated that the success of the gas-phase polymeriza-
tion reactor derives from the advantages of the fluidized bed reactor and
the specific requirements of the polymerization catalyst. Due to the good
mass transfer in fluidized beds, the highly active catalyst can be opti-
mally used. In addition the process is relatively simple and no solvents
are used, which need to be removed later in the process, only dissolved
vapors need to be removed.

The gas-phase polymerization was developed by Union Carbide in
the 1960’s to produce High Density Polyethylene (HDPE), the so-called
UNIPOL™ process. The UNIPOL™ process was later on also used to
produce other types of polyolefins. The shape of the reactor in the
UNIPOL™ process is cylindrical, where the top section is expanded. The
reason that the top of the reactor is expanded is to recover elutrated
particles in the dense zone of the reactor. The catalyst particles (Ziegler-
-Natta or metallocene catalyst) are introduced through the side wall of
the reactor. The location of the catalysator feed is important, because if
the catalyst are introduced at the wrong position it will lead to excessive
losses of catalyst. To select the optimal position for the injection of the
catalytical particles it is essential to know the extent of particle mixing
e.g. the macroscopic circulation patterns inside the fluidized bed reac-
tor. The monomer gas is fed through a distributor which is located at
the bottom of the fluidized bed.

This process uses a highly active and selective catalyst (50-100 kg



1.2. Macroscopic circulation patterns

per gram of catalyst), resulting in strong local production of heat, which
needs to be removed from the reaction zone in the fluidized bed reac-
tor. The temperature of the reactor is not allowed to exceed the melting
temperature of the polymer, because the polymer particles will start to
melt and stick together. The single pass conversion of the monomer gas
is therefore restricted to only 5%. The unconverted monomer gas is col-
lected at the top of the reactor, cooled, compressed and recycled to the
bottom of the reactor. Despite the excellent heat transfer inside a flu-
idized bed, the heat removal rate is the limiting factor in the production
process. In industry two different methods are used to remove the heat
from reactor. The first method involves injection of the monomer as a
liquid, where part of the heat of the reaction is removed by evaporating
the monomer. The second method with which heat is removed from the
reactor is via convective heat transfer through the emulsion phase. The
convective heat transfer is mainly governed by the macroscopic circula-
tion patterns of the emulsion phase induced by the rising gas bubbles.
However, quantitative information on solids motion and the macroscopic
circulation patterns is still incomplete.

1.2 Macroscopic circulation patterns

Baeyens and Geldart (1986) presented a comprehensive literature review
of particle mixing in fluidized beds and indicated the wake transport and
particle drift, both due to the rising bubbles, as important mechanisms
for upward particle motion. Particles in the emulsion phase move down-
wards in areas where no bubbles are present. Therefore it is important
to know the behavior of both phases to describe the hydrodynamics in
the fluidized bed. In addition, Baeyens and Geldart (1986) indicated the
importance of bubble through flow for gas-particle systems with a high
Archimedes number.

Kunii and Levenspiel (1991) stated that at low superficial gas velocity
and an aspect ratio (bed height divided by bed diameter) less than 1,
the particles move upward near the wall and downward in the center of
the fluidized bed. When the aspect ratio is higher, the particles move
downward near the wall of the fluidized bed. This is caused by a second

3



1. GENERAL INTRODUCTION

granules

Ethylene + i
comonomer +H,

Figure 1.1: UNIPOL™ process, (a) Catalyst hopper and feed valve; (b)
Fluidized-bed reactor; (c) Cyclone; (d) Filter; (e) Polymer take-off system;
(§) Product recovery cyclone; (g) Monomer recovery compressor; (h) Purge
hopper; (i) Recycle compressor; (j) Recycle gas cooler, after Whiteley et al.
(2000).

vortex which appears above the initial vortex. At higher superficial gas
velocity the upper vortex starts to dominate the overall solids movement,
the downward movement of the particles at the wall starts closer to the
distributor.

It is known that the microscopic particle properties have a large in-
fluence on the fluidization behavior. Geldart (1973) showed that the
type of gas-fluidization depends on the size and density of the particles.
Furthermore it is known that the shape of the particles influences the
fluidization behavior and additionally that the collisional properties of
the particulate phase influence the bed hydrodynamic. All these particle
properties will be discussed in the next paragraph.

4



1.3. Microscopic particle properties

Gzm  dmm <
4
<z

Figure 1.2: (a) Bubble and particle movement through a fluidized bed at
low superficial gas velocity and bed aspect ratio ~ 1; (b) General emul-
sion phase movement in deep fluidized beds, both taken from Kunii and
Levenspiel (1991).

1.3 Microscopic particle properties

Diameter and density

In 1973, Geldart published the article "Types of gas fluidization’ in which
he identified four different groups of particles with distinctively different
fluidization characteristic, namely Geldart A, B, C and D. These four
groups could be characterized by the density difference between the
particle phase and the gas phase and the mean particle size. The ex-
perimental results on which Geldart based his conclusions were mainly
conducted at ambient temperature and pressure. However, the Gel-
dart classification has been very useful to the fluidization community.
However, many industrial fluidized beds are operated at elevated pres-
sure, for example, the particles inside a gas phase polymerization re-

5



1. GENERAL INTRODUCTION

actor, belong at ambient conditions to the Geldart B group, however
there exist strong indications that the fluidization behavior at elevated
pressure shift from Geldart B type to Geldart A type particles (Burdett
(2001)). Therefore, the classification of Geldart has been extended by re-
searchers to include the effect of pressure, see for example Yang (2007).
Yang gives an overview of several modifications of the Geldart classifica-
tion and in addition also proposed a new classification which takes the
pressure into account. Instead of using the density difference between
the particle and the gas phase, Yang divides the density difference of the
particle and the gas phase by the density of the gas phase, and instead
of using the mean particle size he uses the Archimedes number. With
this approach Geldart B type fluidization at ambient conditions shifts to
Geldart A type fluidization at elevated pressure. However more experi-
mental data is required to determine the precise A/B transition.

Sphericity

The diameter of particles can be determined accurately when the parti-
cles are completely spherical. It becomes more difficult to characterize
particles by size when they are not spherical. Therefore Kunii and Leven-
spiel (1991) adopted an effective diameter d,¢s. The effective diameter is a
function of the equivalent spherical particle diameter and the sphericity
¢s. The spherical particle diameter and the sphericity are given by:

(1.1)

and
surface of sphere

¢s = (1.2)

~ surface of particle

In addition Kunii and Levenspiel (1991) also give some guidelines
to correlate the effective diameter as a function of the sphericity and
the particle diameter. However, they advise the reader to measure the
effective diameter by measuring the pressure drop over a fixed bed and
to fit the effective diameter with the frictional pressure drop equation
suggested by Ergun. In addition the void fraction of a packed bed is also

6



1.3. Microscopic particle properties

influenced by the sphericity of the particles, and therefore influences
the minimum fluidization velocity of the fluidized bed. Liu et al. (2008)
investigated the influence of the sphericity on the minimum fluidization
velocity and they found that when the particles have the same volume-
equivalent diameter, the non-spherical particles typically have a lower
minimum fluidization velocity.

Collisional properties of the particle

The coefficient of restitution is an important micro-mechanical parame-
ter which quantifies the loss of mechanical energy due to particle impact.
Several authors have investigated the influence of the coefficient of resti-
tution on the fluidization behavior. Goldschmidt et al. (2001) reported
that when the collisions become less ideal (e.g. a lower coefficient of
restitution) the particles are closer packed in the dense regions of the
fluidized beds, and the bubbles are larger.

Goldschmidt et al. (2001) also observed an increase in pressure fluc-
tuations when the coefficient of restitution decreased, which was caused
by more vigorous bubbling in the fluidized bed. They state that the co-
efficient of restitution is one of the key parameters to governing gas
bubbles behavior in dense beds.

Taghipour et al. (2005) found that when the coefficient of restitution
was increased from 0.9 to 0.99, the bed expansion increased with a
factor of 1.35 to 1.45.

Lu et al. (2005) used a two dimensional discrete element model where
the collisions were described using the hard-sphere approach. Lu et al.
found that when the coefficient of restitution was set to 1, no bubbles
appeared in there simulations, however when the coefficient of restitu-
tion was decreased to 0.9, bubbles started to grow at the orifice and
they slowly increased in size throughout the bed. They concluded that
the motion of the particles and the bubbles in the fluidized bed were
related to the momentum transfer and energy dissipation due to colli-
sions. These findings are in complete agreement with the earlier findings
of Hoomans et al. (1996) who also used a discrete particle model with
the hard-sphere model.
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Finally, Lindborg et al. (2007) investigated different types of powder
using the Euler-Euler approach and reported that the coefficient of resti-
tution is a critical parameter to describe the experiments conducted with
Geldart B correctly. The influence of the coefficient of restitution on the
bubble rise velocity was not as large as the influence on the bubble size.

1.3.1 Visual bubble flow

In the simple two phase theory it is assumed that all gas which is intro-
duced into the fluidized bed above the gas which is needed to fluidize the
bed, passes through the bed as bubbles. Hilligardt and Werther (1986)
found that for Geldart B particles the superficial gas velocity through
the emulsion phase u, is significantly larger than the minimum fluidiza-
tion velocity u,; and that the emulsion phase velocity depends on the
superficial gas velocity ug,

(1.3)

1/8 for two-dimensional beds

Ue = Umf | 1/3 for three-dimensional beds
Up — umf

Therefore, not all excess gas (uo - umf) is available to form bubbles.
Hilligardt and Werther (1986) found that the visual bubble flow (defined
as the observed bubble flow divided by the excess flow, based on the
two phase theory) for Geldart B particles is approximately 0.65 when
the height divided by column diameter equals 2, higher in the bed, the
visual bubble flow rate will linearly increase to 1.

1.4 Multi-level modeling

The macroscopic circulation patterns in fluidized beds are governed by
particle-particle and particle-fluid interactions, which occur at the scale
of the size of particles or smaller. With the current computational lim-
itations it is not possible to account for these interactions in a single
model. Therefore, a multi-level modeling approach has been adopted in
our group. In this approach four different models can be distinguished,
the Lattice-Boltzmann Model, the Discrete Particle Model, Continuum
Model and the Discrete Bubble Model.

8
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The most detailed model in the multi-level modeling approach in-
volves Direct Numerical Simulation (DNS). The Lattice-Boltzmann Model
(LBM) and alternatively the Immersed Boundary Method belong to this
class. In these models the fluid flow is fully resolved, i.e. the flow is re-
solved on a scale which is at least one order of magnitude smaller than
the diameter of the particles. Therefore the gas-particle interaction can
be computed in a mono or multi disperse particle configuration, yielding
closures for the drag force which are needed in the higher level models,
see for example van der Hoef et al. (2005).

The Discrete Particle Model, (DPM) is the second model in the multi-
level modeling approach. In this model small fluidized beds can be sim-
ulated involving up to 1 million particles. In the DPM, the fluid motion is
computed by solving the volume-averaged Navier-Stokes equation. The
grid size exceeds the particle size and as a consequence, the drag force
needs to be prescribed. The particles are tracked individually by solving
for all the particles Newton’s second law. A detailed collision model is
used to account for particle-particle or particle-wall collision, taking into
account the energy dissipation during the collisions. With this model,
the influence of particle-particle interaction during the fluidization can
be investigated, through which the assumptions made in more coarse-
grained (continuum) models can be validated.

The third model is the continuum model, i.e. the Two Fluid Model
(TFM) or the Multi Fluid Model (MFM), based on the Kinetic Theory of
Granular Flow (KTGF). In this model also referred to as the Euler-Euler
model the concept of interpenetrating continua is adopted. Closures for
particle-fluid and particle-particle interactions are required which can
be obtained/tested respectively via DNS and the DPM.

Finally with the Discrete Bubble Model (DBM), industrial scale flu-
idized bed reactors can be simulated, to predict the macroscopic cir-
culation patterns. The DBM model finds its origin in the modeling of
dispersed gas-liquid two-phase flow. Bokkers et al. (2006) modified the
model such that the model can be used to simulate industrial scale flu-
idized bed reactors. The DBM is similar to the DPM, however in the
DBM, the emulsion phase is described by the volume-averaged Navier-
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Figure 1.3: Multilevel modeling approach, (a) Direct Numerical Simu-
lation, (b) Discrete Particle Model, (c) Continuum model, (d) Discrete
Bubble Model.

Stokes equations whereas the bubbles the tracked individually by solv-
ing Newton’s second law.

1.5 This thesis

The main objective of this research is to develop a profound and fun-
damental understanding of particle mixing and circulation patterns in
gas-solid fluidized beds at ambient conditions.

To study the prevailing phenomena the research has been divided
into two parts. First, the macroscopic circulation patterns and bubble
behavior in pseudo-2D beds will be investigated. In chapter 2, Digital
Image Analysis (DIA) and Particle Image Velocimetry (PIV) measurements
will be performed on a pseudo-2D bed. The reason to perform these ex-
periments in a pseudo-2D bed is that these experimental techniques
require visual accessibility. Using DIA information about the bubble be-
havior in the fluidized bed can be obtained. To measure the macroscopic

10



1.5. This thesis

circulation patterns, the PIV and DIA measurement technique has been
combined. The coupling of the two non-invasive measuring techniques
allows to correct for the influence of particle raining through the roof of
the bubbles on the number-averaged emulsion phase velocities.

The results of the combined PIV-DIA measurements will be compared
in chapter 3 to Discrete Particle Model (DPM) and Two-Fluid Model (TFM)
simulations. Furthermore, using the DPM and TFM models, the influ-
ence of key parameters, such as the coefficient of restitution, to model a
fluidized bed will be investigated.

The second part will focus on the hydrodynamics in a three-
dimensional fluidized bed. To measure the macroscopic circulation pat-
terns in a full three dimensional fluidized bed dedicated Positron Emis-
sion Particle Tracking experiments have been performed at the Univer-
sity of Birmingham and will be discussed in chapter 4.

In chapter 5, full 3D fluidized bed will be simulated using the Discrete
Bubble Model (DBM). To investigate the influence of the bubble-wake
acceleration on the hydrodynamics in the fluidized bed, a bubble-wake
acceleration model has been implemented in the DBM.

Finally, in an epilogue the findings of this thesis will be discussed
and an outlook on further extensions of the measuring techniques and
CFD models will be suggested.
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CHAPTER

Experimental study on the
hydrodynamics in a pseudo 2D
fluidized bed with PIV and DIA

ABSTRACT

The hydrodynamics of a freely bubbling, gas-solid fluidized bed has been
investigated experimentally with two optical non-invasive measuring tech-
niques in two pseudo-2D columns of different width (0.15 vs. 0.30 m)
Silled with glass beads (400-600 um) and Linear Low Density Polyethy-
lene (LLDPE) particles (1000-1300 um), having the approximately the same
ratio of Ar/Reys, ensuring dynamic similarity. Particle Image Velocime-
try (PIV) combined with Digital Image Analysis (DIA) has been developed
and used to determine simultaneously the emulsion phase circulation pat-
terns, bubble hold-up, bubble size and velocity distributions and visual
bubble flow rate profiles. The combination of DIA with PIV allows correct-
ing for the influence of particle raining through the roof of the bubbles on
the time-averaged emulsion phase velocity profiles. The number-averaged
emulsion phase circulation patterns have been measured as a_function of
fluidization velocity, bed aspect ratio, bed width and bed material. More-
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2. EXPERIMENTAL STUDY ON THE HYDRODYNAMICS WITH PIV AND DIA

over, with DIA the average bubble diameter and averaged bubble velocity
as a _function of height and fluidization velocity have been determined and
Jfound to correspond reasonably well with literature correlations. Howeuver,
the difference in averaged bubble diameter as a function of the height in
the fluidized bed for the two different particle types could not be explained
by the currently available correlations for the bubble diameter, since the
two bed materials used in the experiments have similar ratio of Ar/Rey.
The difference in observed bubble properties is attributed to differences
in the particle collisional properties (coefficients of restitution and the par-
ticle friction coefficient). The experimental data provides a basis for de-
velopment and validation of CFD models to describe the solids-motion in
gas-solid fluidized beds.

2.1 Introduction

Most of the experimental research published in open literature on the
hydrodynamics in fluidized beds, is focused on either the emulsion
phase circulation patterns or on the bubble behavior, but rarely on both
phases simultaneously despite their strong mutual interactions. Solids
motion is induced by the bubble movement in the fluidized bed as de-
scribed in chapter 1, while the bubble diameter and rise velocity (distri-
bution) and local bubble fraction depend on the emulsion phase velocity
profiles. In addition, the bubble properties strongly depend on the mi-
croscopic particle-particle interactions (a.o. Hoomans et al. (1996) and
Goldschmidt et al. (2004)). The mutual interactions make it a prereq-
uisite to obtain information on the solids motion and bubble behavior
simultaneously.

Two non-invasive, optical measuring techniques have been com-
bined, namely Particle Image Velocimetry (PIV) and Digital Image Anal-
ysis (DIA), so that the instantaneous emulsion phase velocity fields are
obtained together with detailed information on the bubble phase (local
bubble size and velocity distribution, bubble fraction, etc.), which allows
investigation of the mutual interaction between the bubble and emulsion
phase in detail. However, a disadvantage of these techniques is the re-
quirement of visual accessibility, limiting the application to a pseudo-2D

14



2.1. Introduction

fluidized bed.

PIV was first applied to dense gas-fluidized beds by Bokkers et al.
(2004), who measured the emulsion phase circulation patterns in freely
bubbling gas-solid fluidized beds, in order to validate the extent of parti-
cle drift induced by rising gas bubbles predicted by Euler-Lagrange and
Euler-Euler models. Link et al. (2004) used PIV to establish fluidiza-
tion regime maps in spouted fluidized beds and found excellent agree-
ment with their discrete particle simulations. Dijkhuizen et al. (2007)
extended the PIV technique to enable the measurement of the granular
temperature distribution simultaneously in the fluidized bed. The gran-
ular temperature is a very important parameter in the modeling of flu-
idized beds with Euler-Euler models using closures for the solids phase
rheology based on the Kinetic Theory of Granular Flow. PIV has been
also applied to study particle behavior in the freeboard region (a.o. Du-
ursma et al. (2001)), and to investigate bubble eruption at the top of the
bed (Muller et al. (2007)). Pallares et al. (2006) investigated the particle
behavior using phosphorescent tracer particles. They measured the con-
centration, velocity and dispersion of the tracer particles in a pseudo-2D
bed. The particle acceleration of erupting bubbles in the freeboard has
been measured by Almendros-Ibanez et al. (2007), with which they ex-
perimentally determined the gas through-flow velocity crossing the dome
of erupting bubbles.

Lim et al. (1990) were the first to perform DIA measurements to a
pseudo 2D fluidized bed studying the bubble size and velocity distribu-
tion and bubble hold-up distribution. Aragwal et al. (1997) used DIA
to investigate the bubble-wake acceleration in a pseudo-2D bed. Gold-
schmidt et al. (2003) measured the bed expansion and segregation rates
of a binary particle mixture using a high speed color camera. Shen et al.
(2004) used DIA to derive relations for the bubble growth and bubble rise
velocity in a pseudo 2D bubbling fluidized bed filled with Geldart B par-
ticles. Mudde et al. (1994) used DIA to measure the local hold-up, and
bubble size, shape and velocity in a bubbling fluidized bed, while Utikar
and Randade (2007) used DIA to validate there Euler-Euler model for a
single jet fluidized bed. Finally, Lim et al. (2007) investigated the bub-
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2. EXPERIMENTAL STUDY ON THE HYDRODYNAMICS WITH PIV AND DIA

ble distribution and behavior in bubbling fluidized beds. Hulme and
Kantzas (2004) used X-ray fluoroscopy to investigate the bubble proper-
ties in a fluidized bed filled with glass beads and with LLDPE particles.
The LLDPE particles had a broad particle size distribution of 100 um up
to 1500 pym. Hulme and Kantzas (2004) varied the gas velocity and found
larger bubbles at increased superficial gas velocities. They concluded
that the bubble properties could be described with the correlations from
literature.

To the authors’ knowledge, PIV and DIA have never been applied si-
multaneously before. When using PIV to measure the number-averaged
emulsion phase circulation profiles in gas-solid freely bubbling fluidized
beds of Geldart B type particles, it is important to correct for the large
velocities associated with particles raining through the roofs of the larger
bubbles. Correction for particle raining can be achieved by combining
PIV with DIA. In this chapter the number-averaged emulsion phase ve-
locity profiles have been determined using PIV combined with DIA in two
different pseudo-2D fluidized beds investigating the influence of the flu-
idization velocity and bed aspect ratio. Moreover, the DIA results have
been used to determine the average bubble diameter and bubble velocity
as a function of the height in the bed for different bed aspect ratios and
fluidization velocities. In addition two types of bed material were investi-
gated. The particle size was selected such that the Archimedes number
was approximately the same.

First, the experimental set-up and the two non-invasive measuring
techniques are described, followed by a discussion on how the PIV and
DIA results are combined. Subsequently, the results on the averaged
bubble size and velocity as a function of the height in the bed for differ-
ent bed aspect ratios and fluidization velocities are discussed and com-
pared with literature correlations. Finally, the influence of the bed as-
pect ratio, fluidization velocity and bed material on the number-averaged
emulsion phase velocity profiles is presented and discussed.
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2.2. Experimental

2.2 Experimental

2.2,1 Setup

In Figure 2.1 the flow sheet of the pseudo 2D setup is presented. Two
different pseudo-2D fluidized beds with a width of 0.15 m and 0.30 m,
both with a height of 0.7 m and a depth of 0.015 m could be mounted in
the setup. The front of the 0.15 m bed was made of glass and the back
was made of polycarbonate. The front and the back wall of the 0.30 m
bed were both made of glass. The side walls of both beds consisted of
aluminum strips.

Two different particles types were used in the experiments, glass
beads and linear low density polyethylene (LLDPE), both particle types
were also used in chapter 2. The glass beads were purchased from Sig-
mund and Lindner and the particle size ranged from 400 to 600 um.
The density of the glass particles is 2500 kg.m™> and the minimum flu-
idization velocity has been experimentally determined to be 0.18 m.s™!
via the pressure drop versus velocity method, see Kunii and Leven-
spiel (1991). The second particle type is linear low density polyethylene
(LLDPE), courteously provided by LyondellBasell. The original LLDPE
particles had a broad particle size distribution; therefore, the particles
were sieved to obtain a narrow particle size distribution. The particle
size for the LLDPE particles after sieving ranged from 1000 to 1300 um,
yielding an experimental minimum fluidization velocity of 0.24 m.s™!. Ac-
cording to Glicksman (1984), when keeping the ratio Ar/Re,s the same
for both bed materials, the dynamics should remain the same in the
fluidized bed. The ratio Ar/Rey for glass beds is 1.73x 10° and for the
LLDPE particles is 1.76x10°.

Air was used as fluidization gas. The air was supplied by a central net
and a buffer vessel was used to ensure a steady air supply. The air flow
was controlled with two mass flow controllers, to ensure a homogeneous
air distribution over the porous plate which was used to inject the air
in to the fluidized bed. To prevent electrostatic build-up, the air was
first humidified with steam to 60-70% relative humidity. Illumination
was achieved with four lamps which directly illuminated the front of the
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2. EXPERIMENTAL STUDY ON THE HYDRODYNAMICS WITH PIV AND DIA

Fluidized bed

Buffer vessel

Air

Figure 2.1: Flow sheet of the experimental setup.

Table 2.1: Experimental Settings

Parameter Glass beads LLDPE particles
Min. fluidization vel." u, (m.s™) 0.18 0.24
Superficial gas vel. uo/uf(-) 1.5-3.5 1.5-3.5
Bed diameter d;,; (m) 0.15-0.30 0.15-0.30
Packed bed height () 0.15-0.45 0.15-0.45
Particle size distribution (um) 400-600 1000-1300

* measured experimentally using the pressure drop versus velocity method

fluidized bed (see Figure 2.2). An overview of the experimental settings
can be found in Table 2.1.

2.2.2 Measuring techniques
Digital Image Analysis

The principle of DIA is to record images of the fluidized bed with a high
speed camera and use the pixel intensity of the recorded images to dis-
criminate between the bubble and the emulsion phase. If the pixel in-
tensity is below a certain threshold value, the pixel area is assigned to
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Figure 2.2: A schematic impression of the experimental setup.

the bubble phase, and otherwise to the emulsion phase. The DIA algo-
rithm starts with importing the recorded digital image into a normalized
intensity matrix [; ;. The original image is shown in Figure 2.3a, whereas
the normalized image is depicted in Figure 2.3b. The algorithm contin-
ues by removing the walls and the freeboard, using a standard Sobel
discrete edge detection algorithm (5x5 mask). Due to inhomogeneous
illumination a gradient in the pixel intensity can be observed in Figure
2b. To correct for this, the algorithm determines the local average over
a predefined area, in this case the area over which the local average
was half the column width (see Figure 2.3c), and subtracts this from the
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matrix which results in Figure 2.3d. The final preprocessing step is to
smooth the emulsion phase using a 5 x 5 mask, which results in a more
uniform emulsion phase and removes noise from the image. The next
step is the phase separation, using an image independent threshold of
T = 0.9, where T is the average image intensity (see Figure 2.3e). Then,
adjoining pixels which are both labeled as bubble phase, are considered
as a single bubble. Again, an Sobel edge detection algorithm is used to
determine the shape of the bubbles (Figure 2.3f). The equivalent bubble
diameter 4, is determined by summing over the tagged adjacent bubble

pixels.
dy = ,/—4‘% 2.1)
TC

The center of mass of the bubble in the x and z direction is deter-
mined by

N, pix

1
X = X:Ax (2.2)
b Npix ; i

Were N,;, is the number of pixels in the bubble under investigation, X;
is the position in the x or z direction of the pixel and Ax is the pixel size.
The bubble velocities were determined by dividing the displacement of
the center of mass of the equivalent spherical bubbles by the time-step
between two recorded images.

Finally, the bubble aspect ratio, A, is the ratio of vertical span d, vs.
the horizontal span d, of the bubble under investigation

Ap = — (2.3)

The bubble properties were determined by performing DIA on images
recorded with a LaVision ImagerPro HS CCD camera of the entire bed in
order to avoid problems associated with bubbles that are captured only
partially in the image. This allowed measuring for at least 30 s using
a constant time delay of 10 ms between the images. The DIA program
was validated thoroughly using ’'synthetic’ images (user created images
where the size and position of the bubbles were known exactly). An
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Figure 2.3: The different steps in DIA: (a) original image; (b) normalized
image; (c) local average of the normalized image; (d) result after prepro-
cessing image;(e) phase separation; (f) circumference of the bubble
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Figure 2.4: The different steps in DIA: (a) example of an user created
image; (b) parity plot of the velocity.

illustrative example is given in Figure 2.4a. In Figure 2.4b, the parity
plot of the velocity of all bubble shapes, diameters and rise velocities is
given. It can be seen that the bubble rise velocity is determined correctly.
The velocity of the bubbles in the synthetic images is higher than in
the experiments, this is caused by the chosen time-step between the
synthetic images.

Particle Image Velocimetry

Particle Image Velocimetry (PIV) is a non-invasive measuring technique
developed originally to investigate liquid or gas-liquid systems, but re-
cently extended to gas-solid dispersed flows. The basic principle of PIV
is to divide the recorded images into N X N interrogation areas and use
a spatial cross-correlation on two consecutive images

N, Ny

[x,y] = (I'li, j1=<D)A"[i + x, j + y] = (D)) (2.4)

i=1 j=1

to obtain the average displacement of the particles S,. Note that the
average image intensity (I) is subtracted from both images before the
cross-correlation is carried out in order to reduce the background corre-
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lation. I'[i, j] is the intensity of pixel (i, j) in the first image and I"[i+x, j+y]
is the intensity of pixel (i + x, j + y) in the second image.

With the time At between the two images and the displacement of the
particles S, inside the interrogation area, the average velocity v, of the
particles inside this particular interrogation area can be calculated with

S,(x, )

MAt
where M represents the magnification of the image. Careful selection

vp(x, t) = (2.5)

of the time between two consecutive images is required to minimize the
influence of out-of plane movement of particles (see e.g. Westerweel
(1997) for further details). By combining the velocities of all interrogation
areas, the instantaneous particle velocity profile is obtained.

Images with a resolution of 1024x1280 pixels were recorded with a
LaVision ImagerPro HS CCD camera which has an internal memory of
2 GB. For the PIV measurements, the camera was located at such a
distance from the front of the bed, that a single particle was represented
by at least 2-3 pixels in diameter in order to obtain the desired spatial
resolution (Westerweel (1997)). This allowed a measurement area of the
fluidized bed of approximately 11.8 x 15 cm for the glass beads, for the
LLDPE particles the same settings were used. The number-averaged
emulsion phase velocity profiles of the entire bed were determined by
repositioning the camera 2 to 15 times, depending on the bed width and
height, where the data of the different measurements were combined
using bilinear interpolation. The bottom 1.5 ¢m of the wide fluidized bed
and the bottom 0.6 cm of the small fluidized bed above the distributor
could not be studied due to lack of visual accessibility. The frequency
with which the PIV image pairs were recorded was 4 Hz. The exposure
time was set to 1 ms with an effective time delay of 5.003 ms between the
images in a pair. With this scheme, the camera was able to record for 3
minutes.

2.2.3 Coupling PIV and DIA

Although with PIV the instantaneous average particle velocity in every
interrogation zone is measured, the measurement technique does not
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account for the varying number of particles in different interrogation
zones. To obtain the emulsion phase mass fluxes, one needs to correct
for differences in particle density, especially because of particle raining
through the bubbles, where a small number of particles have a very high
velocity, while the particle mass flux is small. The influence of particle
raining is demonstrated in Figure 2.5, for the case of a single bubble
injected into a fluidized bed at incipient fluidization conditions.

To filter for particle raining, information on the local particle number
density (for every PIV interrogation area) is required. Although PIV is
carried out such that all the particles are individually distinguishable
(using 2 to 3 pixels), the exact number of particles in an interrogation
area is difficult to determine automatically for systems with relatively
small particles. One could use the average intensity of an interrogation
zone as an estimate for the number of particles in that particular zone.
However, in this case a very homogeneous illumination is required and
a relation between the intensity and the packing degree has to be de-
termined. For larger particles (belonging to Geldart D) this has been
done by van Buijtenen et al. (2009). In this work the DIA phase sepa-
ration technique was used to assign a pixel of the image to the bubble
(el] = 0) or emulsion phase (e = 1). Assuming (as a first approxima-
tion) that there are no part1cles inside a bubble and that the emulsion
phase density is constant, the average emulsion phase fraction < ]> was
determined for every interrogation area. The filtered velocity field . is
obtained from the original PIV velocity field i;; via

ity =ity (e ) (2.6)
where

i+¥ Y

1 — X Z Z (2.7)

p=i-§ q=j-§

Note, that the number-averaged velocity field < > is obtained by nor-
malizing over the average emulsion phase fraction:
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<sz> ] N, (2.8)

where f denotes the image number of the PIV images. The number-
averaged emulsion phase velocity profiles where obtained by averaging
over more than 700 PIV image pairs.

To determine the minimum required measuring time, four measuring
series of 3 minutes at the same condition, for both glass beads and
LLDPE particles have been performed. One of the measuring series has
been compared to the average of the other three series.

1 Ny U,f—2_1x2+ U/f—izz

The deviation in the measuring series is less than 5% after 200 im-
ages.

2.3 Results and Discussion

In this paragraph, the results from the DIA and PIV-DIA measurements
are presented and discussed. First, the average bubble diameter as
function of the axial position and the average bubble rise velocity as
function of the average bubble diameter for different fluidization ve-
locities, bed material, bed aspect ratios and bed widths are presented
and compared with literature correlations where available. Then, the
number-averaged emulsion phase velocity profiles are presented and
discussed, again as function of the fluidization velocity, bed material,
bed aspect ratio and bed width. Finally, the novel measuring approach is
validated by performing independent Positron Emission Particle Track-
ing experiments at the University of Birmingham (see chapter 4).
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Figure 2.5: Coupling PIV with DIA for a single bubble injection into a
fluidized bed at incipient fluidized conditions: (a) original digital image;

(b) PIV velocity field without filtering; (c) phase separation; (d) instanta-
neous flow field after PIV-DIA filtering
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2.3.1 Influence of particle raining on the number-averaged
emulsion phase velocity profiles

The large influence of filtering out of particle velocities of particles inside
bubbles on the number-averaged emulsion phase velocity profiles can
be discerned from Figures 2.6 and 2.7. Figure 2.6 shows the number-
averaged emulsion phase velocity profiles before (a) and after (b) filter-
ing making use of DIA. Note that for clarity of presentation not all ob-
tained velocity vectors are plotted in the figure. The figure clearly shows
that without filtering the up-flow of the emulsion phase in the center of
the fluidized bed is strongly underestimated. Since most bubbles move
through the fluidized bed at the center of the bed, the effect of the fil-
tering procedure is most pronounced at the center, while the extent of
down-flow is hardly affected by the filtering. This becomes clear from
Figure 2.7, showing the lateral profiles of the axial emulsion phase ve-
locity at three different heights in the bed. In the experimental results
for the lower bed height two peaks in the emulsion phase velocity can be
observed, corresponding to the expected lateral movement of the bubbles
toward the center of the bed. Note that the number-averaged emulsion
phase velocity profiles obtained directly from the PIV results without the
filtering wrongly indicates the absence of up-flow of the emulsion phase
at lower positions, while it underestimates the maximum longitudinal
emulsion phase velocity at higher positions in the bed by a factor as
large as 2.

2.3.2 Sensitivity study of the filtering technique

To study the influence of several parameters used in the PIV and DIA
measurements a sensitivity study has been conducted. The parameters
that have been investigated are the size of the interrogation zone in the
PIV measurements, the threshold value in the DIA measurements and
the range which was used in the DIA measurements to determine the
local average.

By decreasing the size of the interrogation zone in the PIV measure-
ments, the resolution of the measurement is increased and when the fil-
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Figure 2.6: Number-averaged emulsion phase velocity profiles for 2.5
o/, in the 0.30 m fluidized bed filled with glass beads: (a) before fil-
tering using DIA; (b) after filtering using DIA.

0.20

;

E 0.10r

2

i3}

S O Ay o Tevesee®™ 0c90)

3] 9020005000600 :

>

g e h= 98 mm, PIV-DIA

« o h= 99 mm, PIV

5 ~0.10r) ¢ h =200 mm, PIV-DIA

% ¢ h =201 mm, PIV

= h =298 mm, PIV-DIA M
5 o h =300 mm, PIV 2o
_020 L L
0 0.05 0.10 0.20 0.25 0.30

0.15 .
Position [m]

Figure 2.7: Comparison of the number-averaged lateral profiles of the
axial emulsion phase velocity between before and after filtering at three
heights above the distributor. Fluidization velocity was 2.5 ug/u,s and

the packed bed height was 0.30 m.
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tering is performed, the bubble shape can be described more accurately.
The interrogation zone has been decreased from 32 X 32 to 16 x 16 pixels
for the PIV measurement using glass beads as bed material, where the
superficial gas velocity was set to 3.5 up/u,s and the packed bed aspect
ratio was 1 using the 0.3 m fluidized bed. As can be seen in Figure 2.8a,
where the influence of the interrogation zone on the number-averaged
vertical emulsion phase velocity is given at three different heights above
the distributor, the interrogation zone has little to no influence on the
results.

The influence of the threshold value on the novel filtering technique
has been investigated by varying the threshold value between 0.85 and
0.95. If the threshold value is a sensitive parameter, the bubble size can
be over- or under predicted and therefore the filtering for the particle
raining can be over- or under predicted. In Figure 2.8b the results are
presented, for this case the LLDPE particles were used as bed material,
the superficial gas velocity was set to 3.5 up/u,s and the packed bed
aspect ratio was 1 using the 0.15 m fluidized bed. As can be seen from
the figure, the influence of the threshold is negligible.

The last parameter investigated is the range used to determine the
local average. This was implemented in the DIA algorithm to remove in-
homogeneous lighting, however, the measuring area in the PIV measure-
ments is smaller than in the DIA measurements, and therefore a bubble
can span over the entire range of the area used in for the local averaging,
and subsequently might not be detected as bubble. Therefore, the av-
eraging range has been increased to span over the entire measurement.
In Figure 2.8c the results are presented for the same case as used in
the threshold case. Again, the influence of the parameter has negligible
influence on the final results obtained.

2.3.3 Bubble phase
Equivalent bubble diameter and bubble rise velocity

First, it was investigated how the laterally averaged equivalent bubble
diameter varies as function of the height above the distributor for dif-
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ferent fluidization velocities, bed aspect ratios, bed materials and bed
widths (see Figures 2.9 till 2.14). The results show that the averaged
bubble diameter increases less than proportionally with the distance to
the distributor for both the glass beads and the LLDPE particles. In ad-
dition, it was found that larger equivalent bubble diameters are found
at higher fluidization velocities. Furthermore, the figures show that the
bubble diameter hardly depends on the bed aspect ratio, but is strongly
affected by the bed width. The bubble growth is clearly obstructed in the
0.15 m bed, as a result of the prevailing emulsion phase velocity profiles
(shown later).

The experimental results for the averaged equivalent bubble diameter
as a function of the height in the bed are presented in Figure 2.9 together
with a correlation proposed by Shen et al. (2004). They fitted a Darton-
like equation for the average bubble size d, based on DIA experiments,
performed in a pseudo-2D freely bubbling fluidized bed using Geldart B
type solids:

AP
dy = 089 (o = ) (1+ 3052 )| g (2.10)

where /1 is the height above the distributor, A is the catchment area
(for porous plate 4 VA, = 0.03 m), t is the depth of the bed and g is the
gravitational acceleration. Since both the width and the depth of their
fluidized bed were larger than used in this work (their bed dimensions
were 0.68x0.07 m vs. bed dimensions in this work of 0.15x0.015 m and
0.30x0.015 m), their correlation overpredicts our experimental results,
especially at higher superficial gas velocities. Not only can the bubbles
grow to a larger maximum bubble diameter in their set-up, bubbles with
a diameter smaller than the bed depth (0.07 m) could not be well detected
in their experimental rig. Furthermore, it can be seen that the fluidized
bed filled with LLDPE particles, the averaged equivalent bubble diameter
is larger than the fluidized bed filled with glass beads and that at 2.5
uo/uys the bubble growth for the LLDPE particles is restricted in our
experimental setup, where the bubbles in the fluidized bed are restricted
at 2.0 ug/tpy.

Besides that, the influence of the bed aspect ratio on the average
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bubble diameter has been investigated in the 0.30 m wide fluidized bed,
see Figure 2.11. The packed bed height of the fluidized bed has been
varied between 0.30 and 0.45 m, i.e. an bed aspect ratio of 1 and 1.5.
It can be seen that the aspect ratio has no influence on the average
bubble size for the fluidized bed filled with glass beads (Figure 2.11a,
however, the average bubble diameter in the fluidized bed filled with
LLPDE particles is slightly higher for a bed aspect ratio of 1 compared
to 1.5.

In Figure 2.10 the average bubble rise velocity is plotted as a func-
tion of the equivalent bubble diameter for the two different beds, where
in Figure 2.10a the bed material was glass beads and in Figure 2.10b
LLDPE was used as bed material. From this figure the influence of the
bed width becomes clear. In the small bed using glass beads as bed
material, the bubbles are constricted due to the width of the bed. When
LLDPE was used, the bubbles in the wide bed are initially larger, how-
ever, when the averaged equivalent bubble diameter reaches approxi-
mately 0.05 m in the wide bed, the averaged bubble diameter is restricted
due to the influence of the walls.

Subsequently, the measured average bubble rise velocity as a func-
tion of the equivalent bubble diameter is plotted for different fluidization
velocities and the two bed materials in Figure 2.12 and compared with
literature correlations. The bubble rise velocity u;, in a freely bubbling
fluidized bed is usually correlated to the bubble diameter and fluidiza-
tion velocity via a correlation proposed by Werther (1978):

up =¢<u0—umf)+C gdp (2.11)

where different values ranging between 0.5 and 1 have been proposed
for the constant C. Mudde et al. (1994) a.o. suggested for a single iso-
lated bubble 0.5-0.6 for C, in this work the value 0.5 was used. The vi-
sual bubble flow rate ¢ has been experimentally determined by Hilligardt
and Werther (1986) to be approximately 0.65 for Geldart B powders for
a bed aspect ratio up to 2. The measured bubble velocity agrees reason-
ably well with this correlation for both glass beads and LLDPE particles.
However, the bubble rise velocities are strongly overestimated for very
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small bubbles, where probably experimental errors and wall effects may
play an important role.

The influence of the bed aspect ratio on the average bubble rise ve-
locity versus the averaged bubble diameter has been determined in the
0.30 m wide fluidized bed, see Figure 2.13. The packed bed height of
the fluidized bed has been varied between 0.30 and 0.45 m. The average
bubble rise velocity for the case where the fluidized bed was filled with
glass beads, the bed aspect ratio has no influence on the averaged bub-
ble rise velocity, however when the fluidized bed was filled with LLDPE
particles, the average bubble rise velocity for a bed aspect ratio of 1 is
slightly higher than for the fluidized bed filled to an aspect ratio 1.5.

Visual bubble flow rate

In addition to the average equivalent bubble diameter and average bub-
ble rise velocity, the visual bubble flow rate ¢ has been determined. The
visual bubble flow rate is defined as the observed bubble flow rate v,
divided by the excess flow rate.

Vb

Y= 2.12)
(

Ug — Uy f) Ay

To determine the visual bubble flow rate, the volume of the bubbles

passing through a horizontal plane in the fluidized bed is summed and
then divided by the excess volumetric flow rate of the gas.

In Figure 2.15, the results of the visual bubble flow rate (using the
0.3 m wide fluidized bed) are presented, where in Figure 2.15a the bed
material was glass beads and in Figure 2.15b LLDPE. It can be seen
that the visual bubble flow rate for both bed materials show a similar
qualitative behavior. The measured visual bubble flow rate for both bed
materials start at 0.1 just above the distributor and subsequently in-
crease until it reaches a constant value. This indicates either degassing
of the emulsion phase, i.e. bubbles grow due to gas exchange from the
emulsion phase, or the bubbles at the bottom of the bed are too small
to be detected and therefore DIA underestimates the visual bubble flow
rate. However, when inspecting to the visual bubble flow rate results
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quantitatively, the visual bubble flow rate for the glass beads is much
lower than that for the LLDPE particles, respectively 0.4 and 0.6, in-
dicating that in the LLDPE experiments more gas is passing through
the bed as bubbles compared to the experiments conducted with glass
beads, which also explains the difference in measured average equiva-
lent bubble size at lower heights above the distributor. The measured
visual bubble flow rate for both the glass beads and the LLDPE parti-
cles agrees with the results published by Hilligardt and Werther (1986),
who used miniaturized capacitance probes to measure the visual bubble
flow rate. However Hilligardt and Werther did not measure the steep in-
crease in the visual bubble flow rate, which is probably explained by the
fact that their miniaturized capacitance probes could measure smaller
bubbles then the DIA measurement technique used in this work. The
LLDPE particles behave as Geldart particle type B, the glass beads which
are used in this work are similar (also same minimum fluidization veloc-
ity) to the particles which Hilligardt and Werther considered as Geldart
D particles because the glass beads behavior could be better described
as Geldart D particles. Geldart (1970/71) determined the visual bubble
flow rate at the top of a three- and two-dimensional fluidized bed, and
found that the visual bubble flow rate for the two dimensional bed varied
between 0.4 and 0.6, corresponding nicely with the measured values in
this work.

Bubble shape

The final bubble property which will be investigated in this chapter is
the bubble shape. In Figure 2.16 the influence of the superficial gas
velocity on the bubble shape for both glass beads (Figure 2.16a) and for
LLDPE particles (Figure 2.16b) is presented in the 0.3 m wide fluidized
bed. Initially, the bubbles in the LLDPE filled fluidized bed are rounder,
e.g. the bubble aspect ratio is closer to 1. In addition, for both bed
materials it can be seen that if the superficial gas velocity is increased,
the bubbles are elongated at the same equivalent bubble diameter. This
could be caused by the increased velocity of the gas passing through the
bubbles. Furthermore, the bubble aspect ratio for both bed materials
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Figure 2.15: Visual bubble flow as function of the normalized height in
the wide fluidized bed, where the fluidized bed was filled to a packed bed
height of 0.15, 0.30 and 0.45 m, the bed material was (a) glass beads;

(b) LLDPE particles.
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remain approximately the same, however when the bubble diameter ap-
proaches 8 cm the bubble aspect ratio increases rapidly. At this bubble
diameter the bubble growth become restricted in the horizontal direction
by the walls of the fluidized bed.
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2.3.4 Number-averaged emulsion phase velocity profiles
Influence of the superficial gas velocity

In Figures 2.17 and 2.18 the number-averaged emulsion phase velocity
profiles (i.e. combined PIV DIA experiment) are given for different super-
ficial gas velocities in the 0.3 m wide fluidized bed filled with respectively
glass beads and LLDPE particles to a packed bed height of 0.3 m (bed
aspect ratio = 1). Note that only one out of three measured vectors are
shown for clarity and that the lateral movement of the emulsion phase
just above the distributor could not be measured in out set-up due to of
lack of visual accessibility, indicated with a white bar.

At very low fluidization velocities below, 1.5 ug/u,s, asymmetric flow
patterns were obtained, probably caused by a slightly inhomogeneous
gas distribution at the bottom of the bed. At higher fluidization ve-
locities, the emulsion phase circulation patterns become much more
pronounced, clearly showing two symmetric vortices with their center
located in the top half of the fluidized bed. At relatively low superficial
gas velocities 2-2.5 uy/u,,r, two additional vortices close to the bottom
of the bed can be discerned causing down-flow of the emulsion phase
in the center of the bed close to the distributor. However, at fluidiza-
tion velocities above 2.5 uy/u,s the down-flow region extends completely
down to the distributor and the vortices at the bottom disappear. This
corresponds well to observations by many others that the lateral move-
ment of the bubbles is enhanced at higher fluidization velocities caused
by the increased circulation of the emulsion phase. The macroscopic
circulation patterns are qualitatively similar, however, when the lateral
profiles of the axial emulsion phase velocities for the fluidized bed filled
with glass beads and LLDPE particles are compared at three different
heights above the distributor (see Figure 2.19), it can be seen that the
upward number averaged emulsion phase velocity in the center of the
bed is much higher at the same excess gas velocity for the LLDPE par-
ticles, note the difference in scale used in the graph. In addition, the
vortices in the fluidized bed filled with LLDPE particles are more elon-
gated than the fluidized bed filled with glass beads. The behavior of
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the emulsion phase corresponds with the bubble behavior discussed in
the previous paragraph. Although the averaged bubble rise velocity is
similar for both particle types, the averaged equivalent bubble diameter
in the bed with the LLDPE particles is much larger, yielding a higher
emulsion phase velocity in the center of the bed.

Influence of the bed width

To study the influence of the bed width on the number-averaged emul-
sion phase velocity profiles, a measurement in the 0.15 m (a) fluidized
bed is compared with a measurement in the 0.30 m (b) wide fluidized
bed, see Figure 2.20. Both beds were filled with LLDPE particles to a
packed bed height of 0.15 m, the superficial gas velocity for both cases
was 2.5 ug/uys. In the 0.15 m bed, two distinct and developed vortices
can be seen, however in the 0.30 m bed, more vortices appear in the
fluidized bed, caused by the incomplete lateral movement bubble move-
ment toward the center of the fluidized bed resulting in a undeveloped
bubble profile.

In Figure 2.21 the 0.15 m (a) and the 0.30 m (b) have been compared
where the bed material in both beds were LLDPE particles the bed was
filled to a packed bed aspect ratio of 1, the superficial gas velocity was
in both cases 2.5 up/u,¢. It can be seen that qualitatively the number-
averaged emulsion phase velocity profiles are the same. This was already
observed by Baeyens and Geldart (1986) who stated that when the same
excess gas velocity and aspect ratio were used in fluidized beds with
different diameters, the emulsion phase flow patterns and solids down
flow velocities are similar.

In Figure 2.22 the number-averaged lateral emulsion phase veloci-
ties are compared at three different heights above the distributor. The
lateral position in the bed is normalized by dividing the lateral position
by the bed width, the three heights are one third, two third and three
third of the packed bed height. Although the number-averaged emul-
sion phase velocity profiles are qualitatively similar it appears that at
the lowest height, two distinct velocity peaks can be seen in for the wide
bed, however, these can not be seen anymore in the small bed indicating
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Figure 2.17: Number-averaged emulsion phase velocity for the 0.30 m

fluidized bed filled with glass beads, the packed bed height was 0.30 m,
the superficial gas velocity was (a) 1.5 u/uy,, f; (b) 2.0 u/u,f; (c) 2.5 u/uyf;

(d) 3.5 u/uyf.
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Figure 2.19: Number-averaged lateral profile of the axial emulsion phase
velocity for both glass beads and LLDPE particles in the 0.30 m fluidized
bed at 100, 200 and 300 mm above the distributor for a fluidization
velocity of (a) 2.0 and (b) 2.5 uo/uyy.
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Figure 2.20: Influence of the bed width on the number-averaged emul-
sion phase velocity for the LLDPE at the same packed bed height (0.15
m). The bed widths were (a) 0.15 m and (b) 0.30 m, the bed material was
LLDPE and the fluidization velocity was 2.5 ug/ .

that the bubble plumes originating at the walls have reached each other
slightly sooner in the small bed. In addition, the axial velocity at the the
packed bed height, the axial emulsion phase velocity in the small bed is
higher than for the small bed.

Influence of bed aspect ratio

The effect of the bed aspect ratio on the number-averaged emulsion
phase velocity profiles was investigated for the 0.3 m fluidized bed. The
results for two different fluidization velocities, 2 and 2.5 u/u,,s are com-
pared at two aspect ratios respectively 1 and 1.5 for glass beads (Figure
2.23) and LLDPE particles (Figure 2.24). Both Figures show that at
higher bed aspect ratios the vortices at the top of the bed become more
elongated, while the number-averaged emulsion phase velocity profiles
at the bottom of the bed are hardly effected. This indicates that the bub-
ble behavior in the bottom section of the fluidized bed is hardly affected.
In Figures 2.25 and 2.26 the number-averaged lateral emulsion phase
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velocities are compared at three different heights above the distributor.
It can be seen that the number-averaged lateral emulsion phase velocity
is for most cases not really affected by the difference in aspect ratio only
in case of LLDPE as bed material at a superficial gas velocity of 2.5 u/u,,f
and at 0.3 m above the distributor is lower, as is the bubble rise velocity
for this case.

2.3.5 Validation using Positron Emission Particle Tracking

To validate the new PIV-DIA measuring approach, independent PEPT
measurements were performed at the University of Birmingham in the
wide pseudo-2D fluidized bed filled with the same glass beads as were
used during the PIV-DIA experiments. The difference between the exper-
imental setups used in the DIA-PIV and PEPT experiments was that dur-
ing the PEPT experiments the air was supplied by a VACOM side channel
blower VC375-1009 and the air was humidified in a spray column, for
more details about the air supply used during the PEPT measurements,
see the experimental setup paragraph in chapter 4.

The principle of PEPT is based on the tracking a radioactively la-
beled particle, which is taken from the emulsion phase, which is moving
through the measuring vessel for a certain time, Parker et al. (1997).
When two positions of the tracer particles are known and the time be-
tween the two measured positions is known, the velocity between the two
points can be calculated, under the assumption that the particle moves
in a straight line between the two points. More details about the PEPT
measuring technique, reconstruction of the position of the radioactively
labeled particle and the calculation of the time-averaged emulsion phase
velocity are given in chapter 4.

As can be seen in Figure 2.27, the agreement between the PIV-DIA
and the PEPT measurements is good for fluidization velocities up to 2.5
uo/u,r. When the superficial gas velocity is relatively high (3.5 ug/u,f), as
can be seen in Figure 2.27c, the agreement between the PIV-DIA mea-
surements and the PEPT measurements is still satisfactory for the lower
positions in the bed (100 mm above the distributor), however higher in
the bed, the agreement is less satisfactory.
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Figure 2.23: Number-averaged emulsion phase velocity for the 0.3 m and
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Figure 2.24: Number-averaged emulsion phase velocity for the 0.3 m
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Figure 2.25: Influence of the aspect ratio on the number-averaged lat-
eral emulsion phase velocity profiles measured in the bed with a width of
0.30 m at 100, 200 and 300 mm above the distributor. The bed material
and the superficial gas velocity was (a) glass beads, 2.0 uy/u,y; (b) glass
beads, 2.5 ug/uyy.
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Figure 2.26: Influence of the aspect ratio on the number-averaged lat-
eral emulsion phase velocity profiles measured in the bed with a width of
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Figure 2.27: Validation of PIV-DIA measurements using independent
PEPT measurements using the wide 0.30 m fluidized bed, the bed mate-
rial were the glass beads. The fluidization velocity and the aspect ratio
were (a) 2.0 ug/uyys, 1; (b) 2.5 ug/ups, 15 () 3.5 ug/uny, 1.

It was shown in the sensitivity analysis, that the deviation between
the PIV-DIA and the PEPT measurements can not be attributed to the
threshold of the DIA measurements, the size of the interrogation zones in
the PIV measurements or the averaging area used in the DIA algorithm.

Another cause which could account for the deviation between the
PIV-DIA and PEPT measurements at higher superficial gas velocities and
higher heights in the fluidized bed are large clusters of particles raining
through the bubble. From literature it is known that smaller bubbles
are in general cleaner (less particle raining) than large bubbles. This is
confirmed in the PIV measurements, see for example Figure 2.28, where
the PIV images are presented as they were recorded with the high-speed

55



2. EXPERIMENTAL STUDY ON THE HYDRODYNAMICS WITH PIV AND DIA

camera (Figures 2.28a and 2.28c) and the corresponding PIV instanta-
neous velocity vectors (Figures 2.28b and 2.28d). The superficial gas
velocity was 3.5 ug/u, s and the lower left hand corner was at 0.091 m for
the left hand side and 0.207 m above the distributor and the top right
hand corner was positioned at 0.240 m for the left hand side and 0.389
m above the distributor. It can be seen that when the bubbles are large,
the DIA algorithm is unable to distinguish between the raining particles
in the bubbles and the emulsion phase. Therefore, the DIA algorithm
should be extended such that the raining could be better discarded. In
addition, the size of the bubbles should not exceed or approach the size
of the area of investigation of the PIV images, because this also influ-
ences both the PIV measurements and the DIA correction.

The final possibility for the deviation between the two measuring
techniques is that the walls have a large influence on the macroscopic
circulation patterns of the emulsion phase. To investigate the influence
of the walls in the pseudo-2D fluidized bed, the PEPT measurement at
a superficial gas velocity of 3.5 ug/u,s has been re-processed. In the
new analysis, the depth of the fluidized bed has been divided into four
zones. The results of the two outer zones (the wall zones) have been
combined with each other to obtain more events in these zones. The
influence of the walls on the time-averaged vertical emulsion phase ve-
locity is presented in 2.29, were the dashed lines are the results of the
complete fluidized bed, and the solid lines are the results of the time-
averaged emulsion phase velocity for the wall region, as can be seen the
wall effect on the time-averaged emulsion phase velocity of the entire
pseudo-2D bed is very small for the number-averaged emulsion phase
velocity.

2.4 Conclusions

Two non-invasive, optical measuring techniques, namely Particle Image
Velocimetry (PIV) and Digital Image Analysis (DIA), have been combined
to obtain the instantaneous emulsion phase velocity profiles together
with detailed information on the bubble phase (local bubble size and
velocity distribution and bubble fraction), which allows investigating the
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(c) (d)

Figure 2.28: Influence of raining particles on the PIV-measurements,
the superficial gas velocity was 3.5 uo/u,¢, the packed bed height was
0.30 m (a) original image 1; (b) corresponding PIV velocity vector field 1;
(c) original image 2; (d) corresponding PIV velocity vector field 2.
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Figure 2.29: Influence of the walls on the time-averaged lateral emulsion
phase velocity, determined using PEPT measurements. The fluidization
velocity was 3.5 ug/u,s, bed material was glass beads and the packed
bed height was 0.30 m. The solid lines represent the time-averaged
lateral emulsion phase velocity at the walls and the dashed lines the
time-averaged lateral emulsion phase velocities of the entire bed.

mutual interaction between the bubble and emulsion phase in detail.
Moreover, the combination of PIV and DIA allows correcting for the large
influence of particles raining through the roof of the bubbles on the
number averaged emulsion phase velocity profiles.

The DIA results for the average bubble diameter as function of the
height in the bed and the average bubble rise velocity as function of
the equivalent bubble diameter were found to compare reasonably well
with literature correlations, considering the differences in experimental
setup. In addition, the influence of the bed width and bed material on
the averaged equivalent bubble diameter was rather large. The average
equivalent bubble diameter as function of the height in the bed filled
with LLDPE was higher than in the bed filled with glass beads. However,
the averaged bubble rise velocity as function of the bubble diameter was
not influenced by the bed material. Although in the experiments with
LLDPE as bed material showed that the averaged bubble rise velocity
was influenced by the packed bed height.

It has been shown that the visual bubble flow is different for different
bed materials. The visual bubble flow for the glass beads and LLDPE
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agrees with the values for the visual bubble flow published by Hilligardt
and Werther (1986). In addition, the shape of the bubble was influenced
by the system walls when the bubble diameter was approximately a third
of system width. The bubble aspect ratio was increased with increased
superficial gas velocity.

The number-averaged emulsion phase velocity profiles show two
symmetric vortices with their centers located at the top half of the bed,
becoming more pronounced at higher fluidization velocities. Two addi-
tional smaller vortices were observed close to the bottom of the bed at
lower velocities, which disappear at higher fluidization velocities when
the down-flow region extends completely to the bottom of the bed. It
was found that the number-averaged emulsion phase velocities do not
depend on the bed height, when compared at the same distance from
the distributor at the same fluidization velocity.

The lateral upward emulsion phase velocity was higher when the bed
was filled with LLDPE particles, which is a directly related to the larger
bubbles in the fluidized bed filled with LLDPE particles.

The difference in fluidization behavior can be attributed to the differ-
ence in the extent and manner of mechanical energy dissipation between
particles-particle interaction and particle-wall interaction. This will be
investigated further in chapter 3, using sophisticated CFD models.

The novel measuring technique has been validated using indepen-
dent and dedicated Positron Emission Particle Tracking experiments at
the University of Birmingham. The results show good agreement be-
tween the two measuring techniques. However, when the DIA correction
algorithm has difficultly to distinguish between raining particles through
the bubbles and particles in the emulsion phase, the PIV-DIA measuring
technique underestimates the number-averaged emulsion phase veloc-
ity. Typically this occurs at higher superficial gas velocities.

Furthermore, it has been shown that the front and back wall of
the fluidized bed have no influence on the number-averaged emul-
sion phase velocity in the axial direction of the fluidized bed i.e. the
measured number-averaged emulsion phase velocity at the wall is the
same as the number-averaged emulsion phase velocity. Therefore it is
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concluded that the novel measuring approach measures the number-
averaged emulsion phase velocity of the entire bed.

Finally the experimental data provide a basis for further development
and validation of CFD models to describe the solids motion and the bub-
ble behavior in gas-solid fluidized beds, see chapter 3.
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CHAPTER

Modeling of pseudo 2D fluidized
beds using DPM and TFM

ABSTRACT

In this chapter; the influence of microscopic particle properties on the hy-
drodynamics in a bubbling gas-solid fluidized bed will be investigated
using the Discrete Particle Model (DPM) and the Two-Fluid Model (TFM).
First, the minimum fluidization velocity is determined with the two mod-
els. It is shown that it is important to accurately determine the minimum
fluidization velocity for the simulations since it also depends on the colli-
sional properties of the particles. Subsequently the influence of the micro-
scopic particle properties on the macroscopic particle circulation patterns
and time-averaged bubble properties are investigated using the Discrete
Particle Model. It can be concluded that, for the conditions investigated,
indeed bubbles are formed due to collisional dissipation. Furthermore
the nature (i.e. due to restitution or friction) of the energy dissipation is
important for the shape of the bubbles. It was also shown that the utiliza-
tion of an effective restitution coefficient is not sufficient to account for the
energy dissipated during the particle collisions. In addition it is shown
that in a bubbling fluidized bed, the energy is mainly dissipated by fric-
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tion between particles and particles and the wall. The influence of the
normal restitution coefficient on the macroscopic circulation pattern was
investigated with the Two-Fluid Model. The observed influence of the co-
efficient of restitution in the normal direction agreed with the influence of
the coefficient of restitution in the normal direction in the DPM. Finally,
the experimental results reported in chapter 2 were compared with sim-
ulations performed with the DPM and the TFM. It was shown that when
Jree-slip boundary conditions were applied, the trends for the emulsion
phase and the bubble phase can be predicted with the DPM. Furthermore,
it was concluded that the collisional model embedded in the TFM is not
suitable to simulate a bubbling fluidized bed.

3.1 Introduction

The most commonly used computational fluid dynamics models to de-
scribe the hydrodynamics in fluidized beds used in literature are the
Discrete Element Model (in this case, the discrete elements are particles
therefore the abbreviation of DPM will be used in the remainder of this
chapter) and the continuum model (in this chapter the Two-Fluid Model
is used, therefore the abbreviation TFM is adopted in the remainder of
this chapter).

These models will be used to investigate the influence of the micro-
scopic particle properties on the time-averaged emulsion phase velocity
and the time-averaged bubble properties in a bubbling gas-solid flu-
idized bed. Furthermore, the DPM and TFM simulations will be com-
pared with PIV-DIA and DIA experiments which were presented in chap-
ter 2.

When the DPM is used, every particle in the fluidized bed is tracked
using Newton’s second law. In the DPM a more detailed (i.e. includ-
ing friction) collision model is used compared to the TFM. In previous
studies, it has been shown that especially the magnitude of the energy
dissipation rate has a a profound influence on the fluidization behav-
ior. To account for the particle collisions in the DPM, two different ap-
proaches can be used, the hard sphere model and the soft sphere model.
The hard sphere model is an event driven model, which means that the

62



3.1. Introduction

model calculates from one binary collision to the next binary collision.
Therefore, the hard sphere model is mainly used in dilute systems, and
is less suitable to use for dense fluidized beds. The soft sphere model is
a time driven model, which allows for multiple collisions during a single
time-step. The contact forces are calculated by taking the overlap and
the relative velocity of the particles into account. In this chapter the soft
sphere approach is used and will be discussed further in section 3.2.

In our DPM typically about 1 million particles can be simulated, for
larger systems, the continuum approach should be used. In the TFM
both the gas phase and the solids phase are represented by conservation
equations for mass and momentum. To include the particle behavior in
the TFM the Kinetic Theory of Granular Flow (KTGF) is used. For the
solids phase an additional transport equation is solved for the kinetic
energy associated with the fluctuating motion of the particles. The ad-
vantage of the TFM is that it can be used to simulate large scale fluidized
beds.

Many researchers reported the importance of the collisional proper-
ties, for example, Hoomans et al. (1996) included the hard- and soft-
sphere model in the DPM, and performed a sensitivity analysis of the
bed behavior with respect to the parameters in the collision model. They
found that the bed behavior depends strongly on the collisional prop-
erties. When ideal particles were used, unrealistic flow behavior was
found. Goldschmidt et al. (2001) used the Two-Fluid Model to investi-
gate the effect of collisional parameters on the bed behavior and con-
firmed the results of Hoomans et al. Furthermore, Lindborg et al. (2007)
compared experimental data with results from TFM simulations and
stressed the importance of the magnitude of the energy dissipation in
order to obtain agreement between experiment and simulation. In addi-
tion, they found that the bubble rise velocity was not very sensitive to
the restitution coefficient.

First, the DPM and TFM will be described, followed by the numerical
verification of the settings of both models used in this study. Further-
more, the minimum fluidization velocity of the particles in both models
is determined. Then the influence of the microscopic particle proper-
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ties on the macroscopic solids behavior and bubble properties will be
investigated. Next, the DPM and TFM results will be compared with the
experimental PIV-DIA results which were presented in chapter 2 and
finally the main conclusions from this chapter are given.

3.2 Discrete Particle Model

3.2.1 Gas phase dynamics

In the DPM, the gas phase is described by the continuity equation (3.1)
and the volume-averaged Navier-Stokes equation (3.2), following Ander-
son and Jackson (1967):

d

% +V- (5gpg'7g) =0 (3.1)
A / -
%8”8) V- (Egpgﬁgﬁg) =—&gVpg = V- (eg?g) — S+ e4p58 (3.2)

where ¢, pg, pe and ¢ are respectively the gas phase porosity, gas
phase density, gas phase pressure and the gravitational acceleration.
The gas phase density is determined by the equation of state for an ideal
gas. T, is the gas phase viscous stress tensor, which is assumed to obey
the Newtonian form (Bird et al. (1960)),

2 2305
= g Vil + (Vit,) - 3T(vit,) (3.3)
g is the shear viscosity of gas phase and [ the unit tensor. § rep-

resents the source term, which accounts for the momentum exchange
between the gas phase and the particles. The source term is given by

5= —fz L ”"ﬁ u—ﬁp,k)(s(?— 7o) dV (3.4)

The distribution function, 6, distributes the force exerted on the gas
phase by the particles to the Eulerian grid.
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3.2. Discrete Particle Model

3.2.2 Particle dynamics

The motion of every particle in the DPM is computed with Newton’s sec-
ond law of motion

-

mp? = Z F) = l_:)externul + ﬁcantact (3.5)

where m, and 7, denote the particle mass and velocity. The total force
acting on the particles is divided into an external and a contact force,
which will be discussed subsequently.

External force

The external force, ﬁexternal, is the sum of all external forces acting on a
particle and is calculated using

ﬁ _ - VP;B - -

external = Mpg = VpVpg + : (“g - UP) (3.6)
The first term of the external force, is the gravitational force, the sec-

ond term is the force due to the pressure gradient in the gas phase, and

the third term is the drag force exerted by the gas phase on the parti-

cle, where f represents the inter-phase momentum exchange coefficient,

which is given by

F
=18(1 - — 3.7
B ( 53) 'fg#gd% (3.7)

In which F is the dimensionless drag force. In this work, the dimen-
sionless drag force expression suggested by van der Hoef et al. (2005)
has been used. van der Hoef et al. (2005) derived their dimensionless
drag force expression from Lattice Boltzmann simulations for mono-
disperse configurations, and is defined as

F = Fo(eg) + Fi (eg) Re (3.8)
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where

Fo(£)) = 10 S e (1 +1.5,/1- sg)
8

0.48+1.9(1 - &)

18 (e,)

F (83) - 2

Re = €gdp (ﬁg - 5;7) Pg
Hg

To obtain the drag force, the dimensionless drag force has to be multi-
plied with the Stokes-Einstein equation, 3nygdUIF , where U = &g (ﬁ’g - 6;).

Contact force

The contact force, fmmct, is the sum of all individual contact forces ex-
erted by all particles in contact with the particle under consideration.
A soft-sphere collision model is used to describe the contact force. The
reason that the soft-sphere collision model is used instead of the hard-
sphere model, is because the soft-sphere collision model is better suited
for dense fluidized beds due to the high collision frequency. In the soft-
sphere model the collisions are described with a linear spring/dash-pot
model, proposed by Cundall and Strack (1979) and depicted in Figure
3.1. When the soft-sphere collision model is used, in addition to the
equation of motion for every particle (see Equation 3.5), the rotational
motion has to be solved,
o

IE =T (3.9)

where I, w and T are respectively the moment of inertia, the angular
velocity and the torque acting on the particle.

The total contact force between particles 2 and b is divided into a
normal, ﬁﬂb,n, and a tangential component, ﬁub,t
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3.2. Discrete Particle Model

Spring

Dash-pot

Friction slider

Figure 3.1: Graphical representation of the linear spring/dash-pot soft-
sphere model, after Hoomans (1999)

contacfu Z abn + Fabt (3 10]
b

The normal component of the contact force between particle a and b,
is calculated using
ﬁah,n = _knénﬁab - Unaab,n (3.11)

in which k,, #p, N4, Uw, and 6, are respectively the spring stiffness
in the normal direction, the normal unit vector, the damping coefficient
in the normal direction, relative velocity and the overlap between the
particles in the normal direction. For the tangential component of the
contact force, two cases should be distinguished, namely “sticking” and
“sliding”. If the tangential component is sufficiently high, the impact can
be described as “sliding” during the entire collision, however, when after
the initial sliding phase the relative tangential velocity between the two
colliding particles becomes zero, the impact of the particles belongs to
the sticking case.

. { —kidy — Ty for [Fupyl < plFp,l  sticking 5.12)

bt = - - = - .
T\ —uplFalte for [Fusd > pglFa,l  sliding

where k;, ng, Nts Tayes 1 ¢ and 0; are respectively the spring stiffness in
the tangential direction, the tangential unit vector, the damping coeffi-
cient in the tangential direction, relative velocity, coefficient of friction
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and the overlap between the particles in the tangential direction. The
parameters needed to calculate the normal and tangential components
of the total contact force are listed in Table 3.1.

3.2.3 Collisional parameters DPM

In order to calculate the total contact force five parameters have to be
determined: the spring stiffness in the normal and tangential direction
(k, and k;), the coefficient of restitution in the normal and tangential
direction (e, and ¢;) and the friction coefficient .

When the spring stiffness in the normal direction is set to an infinitely
high value, the soft-sphere model converges toward the hard-sphere
model (Hoomans (1999)). However, the disadvantage of an infinitely
high spring stiffness in the normal direction is that it requires an in-
finitely small time-step to compute the contact forces. Therefore it has
to be demonstrated that the chosen spring stiffness is large enough
to obtain simulation results which are independent of the value of the
spring stiffness in the normal direction. When the spring stiffness in
the normal direction is known, the tangential spring stiffness in the
soft-sphere is calculated using a.o. the normal spring stiffness, see
Table 3.1.

Furthermore, the coefficient of restitution in the normal and tangential
direction determine the amount of kinetic/rotational energy which is
dissipated during a collision between two particles or a particle and a
wall. Finally, the friction coefficient accounts for the energy dissipation
due to non perfectly smooth particles. The coefficient of restitution
in the normal and tangential direction and friction coefficient can be
determined with accurate impact measurements, see Kharaz et al.
(1999).
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3.2. Discrete Particle Model

Table 3.1: Equations used in the soft-sphere model for the contact force,
after Hoomans (1999).

Parameter

Equation

Normal displacement

Tangential displacement

Normal damping coefficient

Tangential damping coefficient

Reduced mass

Normal vector unit

Tangential vector unit

Relative velocity between particles 2 and b
Normal component of relative velocity

Tangential component of relative velocity

Tangential spring stiffness

Moment of inertia

Torque acting on particle

Normal contact time

Tangential contact time

Bi, By

On = (Ra +Rb)_ |:7a _T?b|

5, (1) = f Gt
to

—2Ine, Vmgpk, .
_ ife, #0
M = V2 + In?e,
2 \Vmgk, ife, =0
2
—2In (3 ;mabkt
_ ife, #0
V2 +In%e
2 .
2 amabkt if ey = 0
1 -1
My = (— + —)
mg my
- ?b - ?a
Hap = - -
Ty — ru|
- D,
tab — _)ﬂh[
|Uab,t|

Uap = (Ta = p) + (Ra@Wy + Rypp) X flgp
- - > -
Oapn = (vab . nab) Ngp

aab,t = 5)111/7 _Zﬁub,n
2 (m?+ (@
k== (Lﬂef)z) k,
7\n2 + (Ine,)

2
I= gmuRg

’fu = Zb (Ruﬁab X ﬁt,nb)

2
; |7 +(Iney)
contactn — - 5 1.
szn

72 + (Ine;)?
tconmcf,f = T
t

7(1 1)(1 1)
__+_,_+_
2\m, my m, my
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3.3 Two-Fluid Model

In the TFM, the gas phase and solids phase are described by conser-
vation equations for mass (3.13 and 3.14) and momentum (3.15 and
3.16)

d|egp
(agt ) + V- (egpyily) = 0 (3.13)
d sPs N
_(5 ) + V- (espsiis) = 0 (3.14)
ot
a(Egpgﬁg) > > = - - -
— +V. (egpgugug) = —&,Vpe — V- &,T, — B (ug - us) +e4p8  (3.19)
0 (&5psils)

5 + V- (espsilsils) = —eVpy = V - £6Ts — Vps + B (Jg — 12’5) +é&spsg (3.16)

To include the particle-particle interaction in the continuum ap-
proach, the Kinetic Theory of Granular Flow (KTGF) is used in the
TFM. The KTGF expresses the isotropic and deviatoric parts of the solids
stress tensor as function of the granular temperature, which is defined
as

9:%@.6) (3.17)

Where ¢ represents the particle fluctuation velocity, which is com-
puted using a separate conservation equation, the so-called granular
temperature equation

3 d (&spsH)

=y (sspseﬁs)] = - (pj + eﬁs) Vil = V- (esgs) — 30—y (3.18)

The constitutive equations used in the TFM, which were derived by
Nieuwland et al. (1996), are listed in Table 3.2. The drag force suggested
by van der Hoef et al. (2005) which was used in the DPM, was also used
in the TFM, see section 3.2.
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Table 3.2: Constitutive equations for TFM, after Nieuwland et al. (1996)

Particle pressure ps = [1 +2(1+e,) esgo] &sps0
_ 2,

Newtonian stress-tensor Ts = —Us [Vﬁ + (Vi) - 51 (VLT)]

. . 4 0

Bulk viscosity As = gsspsdpgo 1+ey,) p

5 5 (1 + 2(1 Z@fl)esgo) (1 + ggsgo) 4 0

Shear viscosity Us = 1.01600%np5dp \/; Y + gsspsdpgo 1+e,) \/;

Pseudo-Fourier fluct-
uating kinetic energy flux gs = —xsV6O

+ 12(1+e) esgo) (

1
. 75 6( 5 2
Pseudo-thermal conductivity «; = 1.02513@71‘0501,7 p

12
1+ gSsgo) 0
+ 2e5psdypgy (1 + ey) \/;

€8y

Dissipation of granular en- y=3 (1 - e%) €2ps8,0 [di \/E —(V- ﬁ’s)]
ergy due to inelastic particle- p VT
particle collisions

1L

[SPOIN PIMJ-OMI, "€'¢
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3.3.1 Collisional parameters TFM

In the Kinetic Theory of Granular Flow the particle-particle dynamics
are described by a single parameter collision model. The single parame-
ter collision model calculates the impact velocity between particle a2 and
particle b (c,, = ¢, — ¢y) to the rebound velocity (E;,,) using the coefficient
of restitution

Gy k= —ey (Cop - k) (3.19)

where k is the unit vector directed in the normal direction from the
center of particle a to the center of particle b. In literature several authors
(for example Jenkins and Zhang (2002) and Bokkers (2005)) have tried
to combine the friction coefficient and the normal restitution coefficient
in a single parameter, the so-called effective restitution coefficient eg.
Bokkers (2005) estimated the effective restitution coefficient by

T 9
Cefr = en = SHf + Ey}% (3.20)

Bokkers (2005) found that due to the extra energy dissipation, the
mixing of the particles was slightly decreased, however the particle mix-
ing was still strongly over predicted. In addition, the effective restitution
coefficient described the shape of the bubble slightly better. Another
approach to describe the energy dissipation during the collisions is by
including the frictional stresses, discussed in the next section.

3.3.2 Long term and multiple contact

In the KTGF, the collisions are assumed to be binary and quasi-
instantaneous and do not account for long-term and multiple particle
contacts which occur in the dense part of the fluidized bed. To account
for the these long-term and multiple particle contacts, Savage (1998)
suggested that the particulate phase stress tensor is the sum of the
kinetic stress tensor and a frictional stress tensor, which have to be cal-
culated separately. This leads to an additional term in the solids phase
pressure and the solids phase viscosity.
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3.3. Two-Fluid Model

Ps = Pskc + Ps,f (3.21)

Us = Ushc + Us,f (3.22)

Subscript kc stands for the kinetic and collisional part and f is the
frictional part of the solids phase pressure and the solids phase viscos-
ity. When the frictional part of the solids phase is equal to the critical
pressure p. (&), this yields (Johnson and Jackson (1987))

F(Ss - gs,min)r

Psf = Pc(fs) = (Ss,min - gs)s
0 &s < Es,min

& > Es,min

The frictional stress tensor used in the TFM simulations was sug-
gested by Srivastava and Sundaresan (2003) and is given by

- 2 1
o = — L \_/_SH‘ o (3.23)
2¢; \/(D,‘,]‘ : Dj,]‘) + ¢65/d§
Where the rate of strain tensor, Bi,j, is given by:
5--—1((vﬁ)+(vﬁ)T)—1v-ﬁf (3.24)
ij — 7 s s 3 s .

F, r, s and ¢ are empirical constants and are assumed to be F = 0.05
Nm™2,r=2,s=5, ¢ =1 and finally e, is assumed to be 0.5, after
Johnson et al. (1990).

3.3.3 Numerical solution

To solve the volume-averaged Navier-Stokes equations in the DPM and
in the TFM, the SIMPLE algorithm is used, however, to solve the particle
volume fraction, taking into account the compressibility of the parti-
cle phase, an additional step is implemented in the TFM, see for more
details Goldschmidt (2001). To evaluate the convective terms in the
continuity and momentum equations, a second order accurate Barton

73



3. MODELING OF PSEUDO 2D FLUIDIZED BEDS USING DPM AND TFM

scheme is used, whereas the standard second order central discretiza-
tion is used for the diffusive terms. A first order time integration is used
in the DPM to solve the force balance for every individual particle in the
fluidized bed and a soft-sphere collision model is used to compute the
collisions between particles and between particles and the system wall.

3.3.4 Boundary conditions

The boundary conditions that are imposed on the walls utilize the matrix
concept of Kuipers et al. (1993). In the DPM, the bottom cells are the
influx cells; with the influx cells the DPM is able to introduce the gas into
the system. The side walls of the column are represented as a no-slip
boundary, whereas at the top of the column the gas leaves the column,
therefore a prescribed pressure boundary is implemented at the top of
the column. In the TFM the same boundary conditions are used for
the gas phase, whereas for the particle phase, the partial slip boundary
conditions were applied, following Sinclair and Jackson (1989):

= = a sPs 0_
(1 _ ﬁ) CEsTs T = Mus (3.25)
23¢
_ V3 (1—-¢2 )espsg, VO
e, T = —Tly - £4Ts - 11+ (1 ) 8% 0 (3.26)

480

In our simulations we have used 0.9 for the coefficient of restitution
for particle-wall collisions, e, 4., and 0.5 for the specularity coefficient,
as, after Pita and Sundaresan (1991).

3.3.5 Energy balance for the DPM and the TFM

To investigate the energy dissipation in the simulations, the mechani-
cal energy balance is included in the CFD models. Following van der
Hoef et al. (2006) the mechanical energy balance in the Discrete Particle
Model is given by:

Ei = Epot + Ekin + Erot + Esp + Est + Wy + Wy + W/:lf - deg - Wpres (3.27)
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3.3. Two-Fluid Model

Where Ep., Exn and E,; are respectively the potential, kinetic and
rotational energy. Esu, Est, Wi, War, War, Wang and Wy,,s are the potential
energy of the normal spring, potential energy of the tangential spring,
energy dissipated by the by the normal dashpot, energy dissipated by
the tangential dashpot, the energy dissipated by the friction between
the particles, the work performed by the drag on the particle and finally
the work performed by the pressure on the particles. The different terms
of the energy balance are described in Table 3.3.

The mechanical energy balance for the TFM was derived by Goldschmidt
et al. (2004) for systems with non-moving walls and where the walls do
not dissipate energy is given by

% (Econo + Egran + Epot) = Wires + Warag + Warag gran + Wrest (3.28)

where Ecnp, Egran and Epy are respectively the convection energy of the
ensemble as a whole, the contribution due to random motion of particles
within the ensemble and the potential energy in the system. Combined,
the E.ny and Egyy, yield the kinetic energy of the system. Wiyes, Wiag,
Wirag,gran @nd Wi represent the work performed by the pressure, the
work performed by drag, the work performed by drag due to the granular
temperature of the particles and the energy dissipated due to collisions.
A description of the terms of the energy balance is given in Table 3.4.

The independent energy terms in the DPM are calculated every
8x1073 seconds and averaged over a time-span of 5 s. The different
energy terms in TFM are calculated from the simulation output, then
the different contributions are averaged over a time-span of 25 s.

3.3.6 Verification of the computational settings

As was discussed in section 3.2.3, in the DPM soft-sphere collision
model it is important to use a spring stiffness in the normal direction
which is large enough to describe the particle collisions correctly, how-
ever it should not be too large to yield a very small time-step to compute
the contact force. To verify the normal spring stiffness, three indepen-
dent DPM simulations have been performed with a normal spring stift-
ness of 750, 1500 and 3000 N.m™!. In the simulations, the coefficients
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Table 3.3: All contributions to the energy balance in the DPM

Term

Equation

Potential energy
Kinetic energy
Rotational energy

Potential energy of the
normal spring’

Potential energy of the
tangential spring’

Work by drag
Work by pressure

Energy dissipated by
the normal dashpot!

Energy dissipated by
the tangential dashpot'

Energy dissipated by
the friction between the
particles’

part

Epot = Zma(g ha)

pnrt
Epin = Z mg (Uu Ua)

part

Eot = ZI (wa a)u)

Npart

=22 Lk,

Nipart

Ey = 2ZZkt(6abn' abn)

pavt
V - -
deg f ﬁ Uﬂ) - U,dt
anri
Wpres = fZ Vng : ’Zygdt

a

Npart
Wy, = fi‘ Z Mn (ﬁub,n : 27ﬂb,n) dt
Wy = ff Z Nt (Uabt Z7abt) dt

Npmf

Wdf—fzz Hflpabnltab vabt)

* where b > a and b € the contact list of a.
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Table 3.4: All contributions to the energy balance in the TFM

Term Equation
Ncell 1
Kinetic energy Econo = Z Egs,kpsuikvcell,k
k
N(‘L’l] 3
Random kinetic energy Egran = Z Egs,kpsekvcell,k
k
Ncell
Potential Energy Epot = Z EskPs&MV cell k
k
NL‘CH
Dissipation due to restitution Wiest = — YicVeeli k
k
Ncell
Work by drag Wirag = Z B (ﬁg,k - ﬁs,k) sk Vel k
k
Ncell
Work by drag gran Wirag,gran = — Z 3Bk Ok Vet
k
NCC”
Work by pressure Wores = — Z EskVPgk Us j Veell
k

of restitution were set to 0.8 and 0.6 for respectively the normal and
tangential direction. The friction coefficient was set to 0.1. All other
settings are given in Table 3.5. The simulations were conducted parallel
on 3 processors (AMD Opteron 1.8GHz dualcore processor). The com-
putational time was respectively 109, 169 and 260 hours for a spring
stiffness of 750, 1500 and 3000 N.m™'. In Figure 3.2a and 3.2b the
time-averaged axial emulsion phase velocity are presented at 0.050 and
0.075 m above the distributor. From these figures it can be concluded
that the used normal spring stiffness was large enough to calculate the
contact force correctly. In addition, the average bed height for all three
simulations was approximately 0.11 m. In Figure 3.2c and 3.2d the in-
fluence of the number of grid cells on the time-averaged axial emulsion
phase velocity is presented. The number of grid cells was varied between
25x1x75, 50x1x150 and 75x1x225. In this work 50x1x150 grid cells
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was considered sufficient. Finally, in Figure 3.2e and 3.2f the influence
of the time-step for the flow-solver is presented. This time-step has been
varied between 2.0x107, 1.0x107* and 1.0x107° s. It can be concluded
that a flow-solver time step of 1x107* yields a time-step independent so-
lution and therefore will be used in the simulations which are performed
in the remainder of this chapter.

To investigate the influence of the grid size on the TFM simulations,
several simulations of an 0.15 m width and 0.30 m height fluidized bed,
with a packed bed height of 0.15 m, have been performed. The time step
used in the TFM simulations was 1x107° s. For a summary of all compu-
tational settings, see Table 3.5. In Figure 3.3a and 3.3b the influence of
the number of grid cells on the time-averaged emulsion phase velocity in
a TFM simulation is shown. In the two simulations, only the number of
grid cells has been varied from 60x1x120 grid to 90x1x180 grid, while
keeping the other parameters of the simulation the same. From this fig-
ure it can be concluded that a grid of 60x1x120 produces (nearly) grid
independent solutions.

To verify if the simulated time was sufficiently long, the results of a
DPM and TFM simulation have been averaged over different time-spans,
1-30, 5-30 and 10-30 s. The collisional properties of the DPM simula-
tion were e, = 0.97, ¢; = 0.6, uf = 0.1. The coefficient of restitution in
the normal direction in the TFM simulation was set to ¢, = 0.97. The
other settings used in the simulations are given in Table 3.5. It can be
seen from Figure 3.4 that the simulation time for all three cases was
sufficiently long, i.e. the results show no significant differences in time-
averaged axial particle velocity for both models. In addition, the fluidized
bed has operated sufficiently long to exclude start-up effects.

3.4 Results

In this section the results of the simulations will be presented. First, the
minimum fluidization velocity of the particles will be determined with
the DPM and the TFM and compared with experimental findings. A
correct prediction of the minimum fluidization velocity is required for an
accurate setting of the excess velocity. Subsequently, the influence of
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Figure 3.2: Influence of spring stiffness (750,1500,3000 N.m™'), grid size
and time-step (2x1074, 1x10™* and 1x107° s) on the time-averaged axial
solids phase velocity. (a) influence of the spring stiffness at 0.05 m above
the distributor; (b) influence of the spring stiffness at 0.075 m above the
distributor; (c) influence of the grid size at 0.05 m above the distributor;
(d) influence of the grid size at 0.75 m above the distributor; (e) influence
of the time-step at 0.05 m above the distributor (f) influence of the time-
step at 0.075 m above the distributor.
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Figure 3.3: Influence of grid size on the time-averaged axial solids phase
velocity, (a) influence of the grid size at 0.10 m above the distributor; (b)
influence of grid size at 0.15 m above the distributor.
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Figure 3.4: Influence of averaging time on the time-averaged axial solids
phase velocity during the DPM and TFM simulations, (a) DPM; height is
0.05 m; (b) DPM; height is 0.075 m; (c) TFM; height is 0.05 m; (d) TFM;

height is 0.075 m.
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the microscopic particle properties on the hydrodynamics in a bubbling
fluidized bed will be investigated on basis of DPM and TFM simulations.
Finally, DPM and TFM results will be compared with the experimental
data, reported in chapter 2.

3.4.1 Determination of the minimum fluidization velocity

To compare the experimental results obtained in chapter 2 with the sim-
ulations performed in this chapter, the minimum fluidization velocity of
the glass beads has been determined by the pressure drop versus veloc-
ity method, see for example Kunii and Levenspiel (1991). To determine
the minimum fluidization velocity in the simulations the following steps
were performed: at the start of the simulation, the bed was fluidized
at approximately 2.5 ug/u,s for 1 s, subsequently the gas supply in the
simulation was switched off, leading to the formation of a packed bed
state. Finally, the superficial gas flow was slowly increased again, up to
approximately 2.5 ug/uy.

In Figure 3.5 the results of the simulations are compared with the
experimental minimum fluidization velocity for both the DPM (Figure
3.5a) and the TFM (Figure 3.5b). In Figure 3.5d, the pressure drop over
the fluidized bed is normalized by dividing the pressure drop by the final
pressure drop.

The pressure drop over the 'packed bed’ in the TFM simulations is a
slightly curved line instead of a straight line, see Figure 3.5b. The TFM
accounts only for energy dissipation in the normal direction, and not for
energy dissipation in the tangential direction or by friction between the
particles. To investigate the influence of the energy dissipation due to
friction, two DPM simulation were performed in which the coefficient of
restitution in the tangential was set to zero and the friction coefficient
was set to 0.1 and O, see Figure 3.5a. Although the collisional proper-
ties of the particles are not responsible for the curved TFM pressure drop
line, the coefficient of restitution in the tangential direction has a small
influence on the minimum fluidization velocity whereas the friction coef-
ficient has a large influence on the minimum fluidization velocity. In the
case without friction, the particles loose no energy due to friction if they
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collide with each other. The curved pressure drop line could be caused
by the averaging of the porosity in the z-direction, therefore the number
of grid cells in the z-direction was increased. The number of grid cells
in the z-direction has been increased two and four times. It can be seen
in Figure 3.5b that the number of grid cells has no influence on the re-
sults. This should also be expected because the TFM results were grid
independent. Finally, the porosity gradient over the fluidized bed in the
TFM simulation was investigated. The results are presented in Figure
3.5c. It can be seen that when the superficial gas velocity is increased,
the porosity over the fluidized bed in the radial direction of the fluidized
bed decreases, and that the bed becomes slightly expanded even though
the superficial gas velocity is still below the minimum fluidization veloc-
ity. The influence of the superficial gas velocity on the porosity causes
the observed slightly non-linear pressure drop versus superficial velocity
curve.

The pressure drop over the 'packed bed’ versus superficial velocity
obtained from the DPM simulations also exhibits a slightly non-linear
trend, see Figure 3.5b. As already discussed, the collisional properties
have no influence on the pressure drop over the packed bed at various
superficial gas velocities. Next, the spring constant in the normal direc-
tion, k, was increased. The reasoning was that if the spring constant is
increased, the overlap between the particles is decreased. However, the
spring constant in the normal direction has almost no influence on the
pressure drop over the packed bed at various superficial gas velocities.

In Figure 3.5d the experimentally determined pressure drop vs. the
superficial gas velocity is compared with the results of the DPM and the
TFM. It can be seen that the DPM and the TFM results are comparable
which should be the case provided that in both models the same drag
relation has been used. The difference between the computational re-
sults and the experimental results can have several reasons, such as
the particle size distribution in the experiment or a different porosity in
the packed bed due to the sphericity of the particles (in the simulations
assumed to be 1). In addition, there can be a small deviation in the
measured mean particle diameter that was used in the simulations.
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Figure 3.5: Determination of the minimum fluidization velocity using
the pressure drop method, for the DPM, TFM and the experimental: (a)
pressure drop vs. superficial gas velocity using the DPM; (b) pressure
drop vs. superficial gas velocity using the TFM; (c) porosity vs. height in
TFM simulation at various superficial gas velocities; (d) comparison of
the pressure drop vs. superficial gas velocity for the simulations and the
experiment.

The minimum fluidization velocity for glass beads with a diameter of
0.485 mm is determined to be 0.21 m.s~!, and the polymer particles with
a diameter of 1.03 mm possess a minimum fluidization velocity of 0.26
m.s~! (not shown here).
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3.4.2 Influence of the microscopic particle properties

To investigate the impact of microscopic particle properties on the
macroscopic circulation patterns and the bubble properties, several
DPM and TFM simulations were conducted. The properties which were
investigated using the DPM are the collision parameters and the par-
ticle density. For the TFM, the influence of the normal restitution on
the macroscopic particle circulation and the bubble properties has been
investigated. A overview of the settings used in the simulations is given
in Table 3.5.

Table 3.5: Settings for DPM and TFM simulations for the investigation of
the impact of the microscopic particle properties on the hydrodynamics

in a bubbling fluidized bed.

Parameter DPM TFM
Width x-direction [m] 0.075 0.075
Depth y-direction [m] 0.00628 0.0025
Height z-direction [m] 0.225 0.225
Grid cells (x,y,2) 50,1,150 30,1,90
Packed bed height [m] 0.075 0.075

# of particles [-] ~36,500 -
Particle diameter [mm] 1.03 1.03
Particle density [kg.m™] ~800 ~800
Minimum fluidization velocity [m.s™'] | 0.26 -
Superficial gas velocity [m.s7!] 0.66 0.66
Normal restitution coefficient [-] 0.65-1.00 0.90-1.00
Tangential restitution coefficient [-] 0.60-0.00 -
Normal spring stiffness [N.m™] 750 -
Frictional coefficient [-] 0.00-0.10 -

Time step [s] 1x107* 1x107°
Simulation time [s] 30 30

Influence of the collisional properties

First the influence of the collisional properties was investigated by vary-

ing the parameter values between those for ideal particles and glass

beads (keeping the particle density constant).
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Table 3.6: Range of values for the collisional properties in the DPM sim-
ulations.

e, 0.97,1.0 ur 0.10, 0.00
e 0.60,1.0 | uy 0.66m.s7!

The influence of the collisional properties on the macroscopic circu-
lation patterns computed with the DPM is depicted in Figure 3.6. From
the figure it is evident that the collisional properties have a large in-
fluence on the time-averaged particle velocity in the DPM simulations.
In all simulations, with the exception of the simulation without energy
dissipation due to collisions (e, = ¢; = 1.0 and uy = 0.0), the particles
ascend in the center of the bed and descend near the walls in agree-
ment with the experiments reported in chapter 2. One large circulation
cell can be seen if no energy dissipated due to particle collisions. To
quantify the time-averaged axial solids velocity, the lateral profiles at
two different heights above the distributor are given in Figure 3.7. It can
be concluded from this figure that the coefficient of restitution in the
tangential and the normal direction have a minor influence on the time-
averaged axial solids velocity. Furthermore, it can be concluded that the
coefficient of friction has the largest influence on the time-averaged axial
emulsion phase velocity. When no energy is dissipated during the col-
lision of particles, pronounced solids motion is absent. It appears that
when the friction coefficient is set to zero, the influence of the coefficient
of restitution in the normal direction is larger than when the friction
coefficient is included in the simulations.

In Figure 3.8 the influence of the collision parameters on the bub-
ble properties is presented. From the different graphs in Figure 3.8 it
can be seen that the coefficients of restitution in the normal and tan-
gential direction have little influence on the bubble properties. However
in the two simulations in which the friction coefficient was set to zero,
the equivalent bubble diameter decreases significantly. In addition, the
number of bubbles also decreases in these two simulations. This results
in a lower visual bubble flow as can be seen in Figure 3.8e. Finally, the
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collision properties have almost no influence on the bubble rise velocity
as a function of the equivalent bubble diameter.

In Table 3.7 the energy balance is presented. It can be seen that
the friction coefficient has the largest influence on the kinetic, rotational
and potential energy. The coefficient of restitution in the normal or tan-
gential direction have hardly any influence on the kinetic, rotational and
potential energy. Furthermore it can be seen that the energy dissipated
by the tangential dashpot is two orders of magnitude smaller than the
energy dissipated by the normal dashpot and the energy dissipated by
friction between the particles.

It can be concluded that bubbles are mainly formed due to the fact
that particles dissipate energy during the collisions. Most of the en-
ergy is dissipated by the friction between the particles and the energy
dissipated by the normal dashpot. The influence of the coefficient of
restitution in the normal direction and the friction coefficient on the dif-
ferent terms in the energy balance will be presented in the next sections
in more detail.

Table 3.7: Influence of collisional properties on the energy levels, where
the work terms have been time-averaged over a time span 10-15 s.

Case Ekm [H Erot U] Eput U] deg []~5_1] Wpres U~S_]]
0.97,0.6, 0.1 | 6.543x10% 6.929x10° -8.463x107° 2.659x10° 2.631x107°
0.97, 1.0, 0.1 | 6.634x10™* 6.933x107% -8.463x107°® 2.560x107% 2.485x1073
0.97, 1.0, 0.0 | 3.169x10™* 2.509x107 -8.316x107° 3.462x10™* 6.031x10™*
1.00, 1.0, 0.1 | 6.051x10™* 7.566x107° -8.398x107° 2.385x107° 2.221x1072
1.00, 1.0, 0.0 | 1.630x10™* 2.509x107° -8.243x107% -1.538x107% 2.009x107*

Cn, Ct, s Es. []1 Ey []] Wi []4571] W [[571] Wdf []4571]
0.97, 0.6, 0.1 | 6.829x10° 1.527x107° 1.105x1073 3.188x10° 6.315x1073
0.97, 1.0, 0.1 | 5.538x107°® 1.475x1078 1.071x1073 0 6.030x1073
0.97, 1.0, 0.0 | 8.006x107° 0 1.328x1073 0 0]
1.00, 1.0, 0.1 | 1.069x107° 1.687x107® 0 0 6.441x107°
1.00, 1.0, 0.0 | 8.358x107° 0 0 0 0

Influence of the coefficient of restitution in the normal direction

The influence of the coefficient of restitution in the normal direction
was investigated by conducting several DPM simulations in which the
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Figure 3.6: Influence of the collision properties on the time-averaged
particle velocity of the DPM simulations. Superficial gas velocity: 2.5
uo/u,f, number of particles was ~36,500 particles, and packed bed as-
pect ratio of 1, (a) e, = 0.97, ¢, = 0.6, uy = 0.1; (b) ¢, = 0.97, ¢; = 1.0, us =
0.1; (c) e, = 0.97, ¢; = 1.0, uy = 0.0; (d) e, = 1.00, e; = 1.0, py = 0.1; (€) ey
=1.00, ¢; = 1.0, us = 0.0.
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Figure 3.7: Influence of the collision properties on the time-averaged
axial solids velocity. Superficial gas velocity: 2.5 uo/u,,s, number of par-
ticles was ~36,500 particles, and packed bed aspect ratio of 1. (a) h =
0.05 m; (b) h = 0.075 m.
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Figure 3.8: Influence of the collision parameters on the time-averaged
bubble properties, (a) Equivalent bubble diameter vs. height above the
distributor; (b) Number of bubbles vs. height above the distributor; (c)
Averaged bubble rise velocity vs. equivalent bubble diameter; (d) Indica-
tive axial visual bubble flow vs height above the distributor at 0.05 m
above the distributor; (e) Visual bubble flow vs. height above the distrib-
utor; (f) Bubble aspect ratio vs. equivalent bubble diameter.
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Figure 3.9: Influence of the coefficient of restitution in the normal di-
rection, snapshots of the DPM simulations at t = 10.0 s. Superficial
gas velocity: 2.5 up/u, s, number of particles was ~36,500 particles, and
packed bed aspect ratio of 1. (a) e, = 1.00; (b) ¢, = 0.99; (c) e, = 0.97; (d)
e, = 0.94; (e) e, = 0.90.

coefficient of restitution in the normal direction was varied between 0.90
and 1.00. The collision properties and the superficial gas velocity are
given in Table 3.8. In Figure 3.9 snapshots of the DPM simulation are
presented. It can be seen from Figure 3.9 that when the coefficient of
restitution is increased the formation of bubbles is decreased.

Table 3.8: Settings for DPM simulations

e, 0.90, 0.94, 0.97, 0.99, 1.00 wr 0.00
e 1.0 uy 0.66 m.s™!

The time-averaged axial emulsion phase velocity profiles are given in
Figure 3.10. For a coefficient of restitution in the normal direction up
to 0.97, two symmetrical vortices appear in the bed. However, when the
coefficient of restitution is increased further, these vortices disappear
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Figure 3.10: Influence of the coefficient of restitution in the normal di-
rection on the time-averaged particle velocity of the DPM simulations.
Superficial gas velocity: 2.5 ug/u,s, number of particles was ~36,500
particles, and packed bed aspect ratio of 1, (a) ¢, = 1.00; (b) ¢, = 0.99; (c)
e, = 0.97; (d) e, = 0.94; (e) e, = 0.90.

and one large circulation cell (roll) appears. Although there are almost
no bubbles in case of e, = 1.0, the particles are not stationary. The
direction of the roll probably depends on the starting conditions of the
fluidized bed.

In Figure 3.11 the influence of the coefficient of restitution in the
normal direction on the time-averaged axial solids velocity at 0.05 and
0.075 m above the distributor are given. It can be seen that both the (ab-
solute) velocity of the ascending (center) and descending particles (wall)
increases with decreasing coefficient of restitution in the normal direc-
tion. In addition, it also appears that the transition from positive to
negative particle velocity is occurring at approximately the same posi-
tion in the fluidized bed. Furthermore, from Figure 3.11a it can be seen
that with a coefficient of restitution in the normal direction of 0.90 and
0.94 two peaks are visible. This suggests that the bubbles which are
formed in the bottom corners of the fluidized bed have not yet reached
each other at 0.05 m above the distributor.
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Figure 3.11: Influence of the coefficient of restitution in the normal di-
rection on the time-averaged axial solids velocity. Superficial gas veloc-
ity: 2.5 up/un,s, number of particles was ~36,500 particles, and packed
bed aspect ratio of 1. (a) h = 0.05 m; (b) h = 0.075 m.

The influence of the coefficient of restitution in the normal direction
on the bubble properties is presented in Figure 3.12. As could be seen
in the snapshots of the simulations, the averaged bubble diameter as
function of the height in the fluidized bed obtained form the simulations
reduces, when the coefficient of restitution in the normal direction is
increased, see Figure 3.12a. In Figure 3.12c the bubble rise velocity
is presented as function of the equivalent bubble diameter. It can be
seen that the bubble rise velocity is the same up to a bubble diameter of
0.015 m. The bubbles in the simulation with a lower coefficient of resti-
tution rise faster through the fluidized bed. This is due to the fact that
larger bubbles appear higher in the fluidized bed, where the velocity of
the particles is higher as well. The visual bubble flow rate as function
of the normalized height in the fluidized bed is given in Figure 3.12¢. In
can be seen that the visual bubble flow rate increases with a decrease in
coefficient of restitution. This means that when the coefficient of resti-
tution is increased, more gas is moving through the emulsion phase.
Finally, the influence of the coefficient of restitution in the normal di-
rection on the bubble aspect ratio is presented. It can be seen that
when the coefficient of restitution decreases, the bubbles become more
elongated, i.e. the ratio between the vertical size of the bubble and the
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horizontal size becomes larger. This would also explain that the bubble
which are formed in the bottom corners of the fluidized bed have not
reached each other in Figure 3.11a, resulting in two distinct peaks in
the time-averaged lateral solids velocity profiles.

In Table 3.9 the influence of the coefficient of restitution in the nor-
mal direction on the contributions to the energy balance is presented.
It can be seen that almost all energy contributions decrease in magni-
tude when the coefficient of restitution in the normal direction increases.
The energy dissipated due to the normal dashpot decreases linearly with
increasing coefficient of restitution. The rotational energy and the po-
tential energy of the spring in the normal direction remain at the same
level.

Table 3.9: Influence of coefficient of restitution in the normal direction
on the contributions to the energy balance, where the work terms have
been time-averaged over a time span 10-15 s.

Case Egin [J] Erot []] Epof [J] deq U~5_1] Wpres U~5_1]
e, =0.90 | 6.611x10% 2.509x10° -8.343x10° 1.276x10° 1.631x1073
e, =0.94 | 4.612x10™* 2.509x107° -8.372x107% 7.530x10~* 1.030x1073
e, =0.97 | 3.169x10™* 2.509x107° -8.316x10° 3.462x10* 6.031x107*
e, =0.99 | 1.999x10™* 2.509x107° -8.300x1073 7.660x10° 3.679x107*
e, = 1.00 | 1.360x10™* 2.509x107° -8.243x107% -1.538x10™* 2.009x107*

Case Esn U] Est []] de U-si]] Wdt []-571] de []-sil]
¢, = 0.90 | 8.766x10°° 0 4.301x107 0 0
e, =0.94 | 1.006x107° 0 2.649%x1073 0 0
e, = 0.97 | 8.006x107° 0 1.328x1073 0 0
e, =0.99 | 7.758x107° 0 4.920x107* 0 0
e, = 1.00 | 8.358x107° 0 0 0 0

Influence of the coefficient of friction

The influence of the friction coefficient was investigated by conducting
DPM simulations in which the friction coefficient was varied between
0.00 and 0.10. The coefficient of restitution in the normal and tangen-
tial direction were set to 1.00. In Figure 3.13 snapshots of DPM simula-
tions using different values for the friction coefficient are presented. The
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Figure 3.12: Influence of the normal coefficient of restitution on the
time-averaged bubble properties, (a) Equivalent bubble diameter vs.
height above the distributor; (b) Number of bubbles vs. height above
the distributor; (c) Averaged bubble rise velocity vs. equivalent bubble
diameter; (d) Indicative axial visual bubble flow vs height above the dis-
tributor at 0.05 m above the distributor; (e) Visual bubble flow vs. height
above the distributor; (f) Bubble aspect ratio vs. equivalent bubble di-

ameter.
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Figure 3.13: Influence of the friction coefficient, snapshots of the DPM
simulations at t = 10.0 s. Superficial gas velocity: 2.5 uy/u;,,s, number of
particles ~36,500 particles, and the packed bed aspect ratio of 1. (a) uf
= 0.10;(b) uf = 0.06; (c) us = 0.03; (d) uf = 0.01; (e) us = 0.00.

figure shows that if the friction coefficient is increased, larger bubbles
appear and the bed is fluidizing more vigorously.

Table 3.10: Settings for DPM simulations

e, 1.0 | us 0.0,0.01, 0.03, 0.06, 0.10
e 1.0 | ug 0.66 m.s7!

This can also be discerned from Figure 3.14, where the time-averaged
axial solids velocity as function of the friction coefficient is shown. In
this figure, the friction coefficient increases from left to right. When the
friction coefficient is increased from 0.00 to 0.01, two symmetrical vor-
tices appear, which stretch from the top to the bottom of the fluidized
bed. The vortices become stronger when the friction coefficient is in-
creased, however, the shape of the vortices does not change anymore.

Lateral profiles of the time-averaged axial solids velocity at 0.05 and
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Figure 3.14: Influence of the friction coefficient on the time-averaged
particle velocity of the DPM simulations. Superficial gas velocity: 2.5
uo/u,f, number of particles ~36,500 particles, and packed bed aspect
ratio of 1. The time-averaged particle velocity of the DPM simulations.
(@) pf =0.0; (b) us = 0.01; (c) uy = 0.03; (d) us = 0.06; (e) us = 0.10.

0.075 m above above the distributor are displayed in Figure 3.15. Sim-
ilar to results obtained for the variation of the coefficient of restitution
in the normal direction, the transition from a descending particle veloc-
ity to an ascending particle velocity occurred at approximately the same
position in the fluidized bed. In addition, it can be seen that the maxi-
mum and minimum particle velocity prevails at the maximum value of
the friction coefficient. Furthermore, when Figures 3.11 and 3.15 are
compared, the maximum time-averaged axial emulsion velocity is ap-
proximately 1.5 times larger for the simulations with particle friction
included. Also the shape at 0.05 m above the distributor is different,
the bubble plumes have reached each other, yielding a single maximum
time-averaged axial solids velocity.

The influence of the friction coefficient on the bubble properties is
presented in Figure 3.16. In Figure 3.16a the equivalent bubble diam-
eter is presented as function of the height in the fluidized bed. It can
be seen that the equivalent bubble diameter increases when the friction
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Figure 3.15: Influence of the friction coefficient on the time-averaged
axial solids velocity at different positions above the distributor. Superfi-
cial gas velocity: 2.5 uo/u,,;r, number of particles ~36,500 particles, and
packed bed aspect ratio of 1. (a) h = 0.05 m; (b) h = 0.075 m.

coefficient is increased. The dependence of the equivalent bubble size
on the friction coefficient is even larger than the dependence of the bub-
ble size on the coefficient of normal restitution. Figure 3.16c shows the
bubble rise velocity as function of the bubble diameter. The bubble rise
velocity as a function of the equivalent bubble diameter is not sensitive
to the coefficient of friction. The number of bubbles which are present
in the fluidized bed is larger when the friction coefficient is increased.
The visual bubble flow rate is presented in Figure 3.16e as function of
the normalized bed height. This figure shows that the visual bubble flow
rate increases when the friction coefficient is increased.

In Table 3.11 the influence of the friction coefficient on the contri-
butions to the energy balance is presented. It can be seen that almost
all terms in the energy balance increase when the friction coefficient is
increased. When the energy dissipated by the friction is compared to
the energy dissipated by the normal dashpot (see Table 3.9), it can be
seen that approximately 1.5 times as much energy is dissipated due to
friction.
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Figure 3.16: Influence of the friction coefficient on the time-averaged
bubble properties, (a) Equivalent bubble diameter vs. height above the
distributor; (b) Number of bubbles vs. height above the distributor; (c)
Averaged bubble rise velocity vs. equivalent bubble diameter; (d) Indica-
tive axial visual bubble flow vs height above the distributor at 0.05 m
above the distributor; (e) Visual bubble flow vs. height above the distrib-
utor; (f) Bubble aspect ratio vs. equivalent bubble diameter.
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Table 3.11: Influence of friction coefficient on the energy levels, where
the work terms have been time-averaged over a time span 10-15 s.

Case Exin U] Erot U] Epor U] deg []-571] Wpres []-Sil]
;=0.00 | 1.360x10% 2.509x107 -8.243x107 -1.538x10* 2.009x10*
ur=0.01 2.410x10™* 1.658x107¢ -8.333x10~%® 1.381x10™* 5.412x107*
ur=0.03 3.660x10™* 3.523x107% -8.346x10~% 6.803x10~% 9.124x107*
ur=0.06 4.721x10™ 5.146x107° -8.309x1073 1.227x1073 1.274x1073
ur=0.10 6.051x10™* 7.566x107° -8.398x107° 2.385x107° 2.221x1072

Case Esu [J] Est []] Wan [Js71] Wa [Js7"] War [Js71]
i =0.00 | 8.358x10° 0 0 0 0
pf=0.01 | 7.379x107° 2.472x1071° 0 0 9.231x107*
pr=0.03 | 5.335x107° 1.773x10~° 0 0 2.233x107°
s =0.06 | 8.381x10° 5.320x10~° 0 0 3.406x107°
pf=0.10 | 1.069x107° 1.687x1078 0 0 6.441x107°

Effective restitution coefficient

In section 3.3.1 it was suggested that the effective restitution coefficient
could be used as an alternative to include the effect of frictional dissi-
pation in the TFM. To asses whether this is a valid approach, two DPM
simulations were conducted. The collisional parameters of case 1, are e,
=0.97, ¢, = 1.00 and uf = 0.10. The effective restitution coefficient has
been determined using Equation 3.20. Therefore the collisional param-
eters in case 2 were, ¢, = ¢,sy = 0.86, ¢; = 1.00 and us = 0.00.

Table 3.12: Settings for DPM simulations.

e, 0.86,0.97 | us 0.00,0.10
e 1.0 uy 0.66 m.s™!

The obtained time-averaged solids velocities of the simulations are
given in Figure 3.17. This figure shows that the time-averaged solids
circulation patterns have different shapes. For case 1, the vortices ex-
tend from top to bottom, however for case 2, two small additional vor-
tices appear at the bottom of the fluidized bed. In the experiments, the
two lower vortices were also visible, however, the vortices moved in the
other direction compared to the simulations of case 2.
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Figure 3.17: Influence of the effective coefficient of restitution on the
time-averaged solids velocity of the DPM simulations. Superficial gas
velocity: 2.5 ug/u, s, number of particles ~36,500 particles, and packed
bed aspect ratio of 1. (a) e, = 0.97, ¢; = 1.00 and uy = 0.10; (b) e, = e.rf =
0.86, ¢; = 1.00 and us = 0.00.

The lateral profiles of the time-averaged axial solids velocity for the
simulation with friction and with the effective restitution coefficient are
given in Figure 3.18 at two different heights above the distributor. It can
be seen that for the simulation with friction, the area where the particles
ascend is smaller than for the simulation with the effective restitution
coefficient. In addition, two peaks appear in the time-averaged axial
solids velocity suggesting that the bubble plumes in the simulation with
friction reach each other at lower bed heights than those in the simu-
lation with the effective restitution coefficient. The maximum upward
particle velocity is higher for the simulation with friction.

In Figure 3.19 the influence of the effective restitution coefficient on
the time-averaged bubble properties are given. It can be seen from Fig-
ure 3.19a that in case 2, the bubbles appear at higher axial positions
in the fluidized bed. However, when the bubbles appear, they seem to
coalesce faster and reach the same diameter as case 1. Moreover, the
bubble size in case 2 seems to have reached its maximum, whereas in
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Figure 3.18: Influence of the effective restitution coefficient the time-
averaged axial solids velocity at different positions above the distributor.
Superficial gas velocity: 2.5 ug/u,r, number of particles ~36,500 parti-
cles, and packed bed aspect ratio of 1. (a) h = 0.05 m; (b) h = 0.075
m.

case 1, the bubble size is still increasing. The bubble rise velocity as
function of the bubble diameter is presented in Figure 3.19c. It can be
seen that the bubble rise velocity for both cases is similar. The influ-
ence of the effective restitution coefficient on the visual bubble flow rate
is shown in Figure 3.19e. Again, from this figure it can be concluded
that the bubbles appear higher above the distributor when case 2 is
compared with case 1. Finally, the influence of the effective restitution
coefficient on the bubble aspect ratio is presented in Figure 3.19f. When
an effective restitution coefficient is used, the shape of the bubbles are
elongated and when the the bubbles grow, they become more spherical.
The shape of the bubbles when friction is included, is more spherical
from the beginning and becomes slightly elongated when it grows in the
fluidized bed. Therefore the bubbles in the simulation when friction is
included are more likely to coalesce with bubbles next to each other and
by that enhancing the lateral movement of the bubbles in the fluidized
bed.

In Table 3.13 the influence of the effective coefficient of restitution on
the contributions to the energy balance is presented. The kinetic energy,
the potential energy of the normal spring and the energy dissipated by
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Figure 3.19: Influence of the effective restitution coefficient on the time-
averaged bubble properties, (a) Equivalent bubble diameter vs. height
above the distributor; (b) Number of bubbles vs. height above the dis-
tributor; (c) Averaged bubble rise velocity vs. equivalent bubble diameter;
(d) Indicative axial visual bubble flow vs height above the distributor at
0.05 m above the distributor; (e) Visual bubble flow vs. height above the
distributor; (f) Bubble aspect ratio vs. equivalent bubble diameter.
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the normal dashpot are the three energy terms which are higher when
the effective coefficient of restitution is used instead of the coefficient
of restitution in the normal direction and the friction coefficient. How-
ever, the total energy dissipated due to particle-particle collisions and
particle-particle friction is slightly lower when collisions are calculated
using the effective restitution. It can therefore be concluded that not
only the magnitude of energy dissipated due to collisions and friction is
important for the hydrodynamics of a bubbling fluidized bed, also nature
of the energy dissipation is important.

Table 3.13: Influence of effective coefficient of restitution on the energy
levels, where the work terms have been time-averaged over a time span
10-15s.

Case Ein U] Erot U] Epot []] deg []-5_1] Wpres U-S_l]
Case 1 | 6.634x10% 6.933x10° -8.490x103 2.560x10° 2.485x1073
Case 2 | 7.856x10™* 2.509x10™° -8.417x1073 1.588x107% 1.936x1073

Case Esn []] Est []] de []-S_] ] Wdt [[5_1] Wdf []-5_1]
Case 1 | 5.538x10™° 1.475x10°% 1.071x107° 0 6.030x1073
Case 2 | 6.788x107° 0 5.230%x1073 0 0

Influence of the particle density

Baeyens and Geldart (1986) compared different particle types and found
a difference in fluidization behavior for different types. Baeyens and
Geldart related the differences in fluidization behavior to the Archimedes
Number. They stated that when the Archimedes Number is higher, the
gas flow through the bubbles will increase, resulting in smaller bubbles
because less gas is available for bubble formation.

dypg (ps = ps)8
Ar = M (3.29)
u
To investigate the influence of the particle density on the bed hydro-
dynamics, two simulations with different particle densities (~800 and

1000 kg.m~3) and therefore two different Archimedes Numbers (2.81x10*
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and 3.8 x10% are compared. The particle density was not increased
more, otherwise the particles would no longer belong to the Geldart B
class.

Table 3.14: Settings for DPM simulations.

en 0.80 | s 0.10
e 0.60 | uy 0.66,0.81 m.s!

To be able to compare the results of the two different particle densi-
ties the superficial gas velocity ratio uo/u,s was kept constant for both
simulations. Therefore, the minimum fluidization velocity of the parti-
cles with a density of 1000 kg.m~® was determined with an independent
DPM simulation, as described in section 3.4.1.

In Figure 3.20 a snapshot of the DPM simulation is given for both
simulations at ¢t = 10 s. The coefficient of restitution in the normal direc-
tion, in the tangential direction and the friction coefficient for the three
simulations were respectively 0.80, 0.60 and 0.1.

In Figure 3.21 corresponding the time-averaged solids velocity is pre-
sented. Two distinct vortices appear in both simulations. The vortices
extend from the top to the bottom of the bed. The time-averaged particle
velocity for the simulation with the higher density is not yet completely
symmetric indicating that the time-averaged pattern is not completely
developed.

The time-averaged axial particle velocity at 0.05 and 0.75 m above the
distributor is given in Figure 3.22. It can be seen that the time-averaged
axial particle velocity for both densities are similar at the same height
above the distributor. Although the particle circulation is somewhat
stronger at higher particle density.

In Figure 3.23 the time-averaged bubble properties are given. The
average bubble diameter as function of the height in the bed is given in
Figure 3.23a. It can be seen that the averaged bubble diameter of the
simulation with a particle density of 1000 kg.m™> exceeds the averaged
bubble diameter obtained for the lower particle density somewhat. Fur-
thermore, it can be seen in Figure 3.23b, that the number of bubbles
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(@) (b)

Figure 3.20: Influence of the particle density (Archimedes Number),
snapshots of the DPM simulations. Superficial gas velocity: 2.5 ug/uyf,
number of particles ~36,500 particles, and packed bed aspect ratio of 1.
(@) pp = ~800 kg.m™, uyg = 0.66 m.s™! (b) p, = 1000 kg.m™3, uy = 0.81 m.s7..

is comparable. The influence of the particle density on the bubble rise
velocity is presented in Figure 3.23c. It can be seen that the bubble rise
velocity is hardly influenced by the particle density. Finally the visual
bubble flow rate as function of the height (normalized with the diameter)
is given in Figure 3.23e and as function of the lateral position in the
fluidized bed at 0.05 m above the distributor in Figure 3.23d. It can be
seen that the visual bubble flow rate in the simulation with the particle
density of 1000 kg.m™3, is slightly higher compared to the visual bubble
flow obtained for a particle density of ~800 kg.m™2. This can be attributed
to the occurrence of larger diameter bubbles in the simulation with the
higher particle density.

In Table 3.15 the influence of the effective coefficient of restitution on
the contributions to the energy balance is presented. It can be seen that
the energy levels for the simulations with the higher particle density is
much higher compared to those obtained for the lower particle density.
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Figure 3.21: Influence of the particle density on the time-averaged
solids velocity. Superficial gas velocity: 2.5 ug/u,s, number of parti-
cles ~36,500 particles, and packed bed aspect ratio of 1. (a) p, = ~800
kg.m™3, up = 0.66 m.s* (b) p, = 1000 kg.m=3, ug = 0.81 m.s~'.
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Figure 3.22: Influence of the particle density on the time-averaged axial
solids velocity. Superficial gas velocity: 2.5 ug/u, s, number of particles
~36,500 particles, and packed bed aspect ratio of 1. (a) h = 0.05 m; (b)
h =0.075 m.
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Figure 3.23: Influence of the density the time-averaged bubble proper-
ties, (a) Equivalent bubble diameter vs. height above the distributor; (b)
Number of bubbles vs. height above the distributor; (c) Averaged bubble
rise velocity vs. equivalent bubble diameter; (d) Indicative axial visual
bubble flow vs height above the distributor at 0.05 m above the distrib-
utor; (e) Visual bubble flow vs. height above the distributor; (f) Bubble
aspect ratio vs. equivalent bubble diameter.
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Table 3.15: Influence of particle density on the energy levels, where the
work terms have been time-averaged over a time span 10-15 s.

Case Ekin U] Eroz‘ U] Epot U] deg U‘S_ll Wprfs U~5_1]
pp = ~800 kg.m™ | 8.236x10F 5.259x10° -8.530x107°> 3.292x107° 3.230x107°
pp = 1000 kg.m™® | 1.200x10~% 7.582x10° -1.180x107> 9.896x10° 1.015x107>

Case E.. [J1 Est []] Wan [J571] W [Js71] Was [Js71]
pp = ~800 kg.m™ | 5.850x10° 8.742x10~° 3.824x10° 1.684x107° 5.020x107°
pp = 1000 kg.m™ | 6.559x10¢ 2.281x107® 8.259x10° 3.999x10° 1.245x1072

Influence of the coefficient of normal restitution on TFM
simulations

To investigate the influence of the coefficient of normal restitution on
the hydrodynamics of a bubbling fluidized bed, several TFM simula-
tions were performed in which only the coefficient of normal restitution
coefficient for particle-particle (e,) and particle-wall (e, 1) Were varied.
The time-averaged solids velocity is presented in Figure 3.24. It can be
seen, two distinct vortices appear in the top half of the fluidized bed. As
the normal restitution coefficient decreases, the vortices are elongated,
stretching from top to bottom when the normal restitution coefficient is
set to 0.90. The qualitative particle behavior agrees with the particle
behavior in literature, results reported in chapter 2 and with the results
obtained from the DPM simulations. The time-averaged axial solids ve-
locity are presented in Figure 3.25. When comparing Figure 3.25 with
Figure 3.11 the time-averaged solids velocities profiles do not correspond
with each other. The two peaks which were visible in the DPM simula-
tions, are not present in the TFM simulations. Furthermore, in Figure
3.25a it can be seen that the simulation with an normal restitution coef-
ficient results of 0.99 has the highest solids velocity at 0.05 m above the
distributor. This is caused by the fact that the bottom of the two vortices
in the fluidized bed are positioned exactly at 0.05 m above the distribu-
tor. In addition, the solids velocity near the wall in the TFM simulation
is considerable lower than in the DPM simulations. Suggesting that the
solids phase in the TFM simulations lose more energy at the wall the the
solids phase in the DPM simulations, which would resulting in larger
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bubbles and higher solids circulation in the fluidized bed. The influence
of the boundary conditions on the TFM simulations will be investigated
in the next section were TFM simulations with the free-slip boundary
conditions are presented.

The influence of the coefficient of restitution in the normal direction
on the bubble properties is presented in Figure 3.26. When these results
are compared with Figure 3.12, it can be seen that the bubble growth
in the fluidized bed in the TFM is faster than in the DPM simulations,
see Figure 3.12a and Figure 3.26a. The number of bubbles in the DPM
simulations is larger than in the TFM simulations, see Figure 3.26b and
3.12b. However, the largest difference between the TFM and DPM sim-
ulation is the difference in the bubble aspect ratio, which are presented
in Figures 3.26f and 3.12f. In the DPM simulations, the small bubbles
are elongated, especially at lower coefficients of restitution, and when
the bubbles grow the bubbles become more flattened, in the TFM sim-
ulations the bubbles aspect ratio is almost constant as function of the
equivalent bubble diameter. The difference in bubble shape can cause
the bubbles to coalesce faster in the TFM, resulting in a higher solids
circulation.

The contributions to the energy balance is presented in Table 3.16. It
can be seen that the potential energy remains approximately the same
for the different coefficients of restitution. Whereas the work performed
due to restitution, drag and pressure and the kinetic energy decrease
significantly when the coefficient of restitution increases. When com-
paring the different contributions of the energy balance to the energy
balance in the DPM, see Table 3.9, it can be seen that the magnitude of
the different contributions in the energy balance are of the same order.

Influence of the boundary conditions on TFM simulations

To investigate the influence of the boundary conditions in the TFM, the
simulations from the previous section, which were performed with par-
tial slip boundary conditions will be compared to simulations in which
free-slip boundary conditions were applied to the walls of the fluidized
bed. The normal restitution coefficient in the free-slip simulations were
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Figure 3.24: Influence of the normal restitution coefficient on the time-
averaged solids velocity using TFM simulations. Superficial gas velocity:
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Table 3.16: Influence of coefficient of restitution in the normal direction
on the energy levels where the depth of the bed was assumed to be
0.00628 m, to be able to compare the values with the DPM simulations.

Case Ecunv U] Egmn U] Eput U] Wr@st U'S_l] Vvdwzg7 [].5_1]
e, =0.90 | 4.088x10°*  2.826x10° -8.040x107° -4.265x10~° 2.224x107°
e, =0.94 | 3.328x10*  3.642x107° -7.991x107® -3.430x107% 1.682x107°
e, =0.97 | 2.248x107*  4.584x107° -7.934x107% -2.189x107% 1.066x1073
e, =0.99 | 1.570x10™*  6.154x107° -7.855x107% -1.033x10~% 6.324x107*
e, =1.00 | 1.262x10* 7.222x10° -7.920x107° 0 5.432x107*

Case deg,gmn U—s_l] Wpres U-s_l]
e, =0.90 | -3.316x10% 2.367x107°
e, =0.94 | -4.044x107* 1.951x1073
e, =0.97 | -4.748x107* 1.405x1073
e, =0.99 | -6.324x107* 1.055x1073
e, =1.00 | -7.348x10™* 5.194x107*

also varied between 0.90 and 1.00. In Figure 3.27 the lateral profiles of
the time-averaged axial solids velocity in the TFM simulations are pre-
sented. The lateral profiles of the axial solids velocity of the simulations
with free-slip and partial slip differ considerably from each other. In
the simulations with partial slip a single peak is visible, where in the
simulations with the free-slip boundary conditions two peaks are visible
in the time-averaged axial solids velocity profiles. The two peaks in the
time-averaged axial solids velocity profiles correspond with the results
found in the DPM simulations in which the coefficient of normal restitu-
tion was investigated, see Figure 3.11. Not only the shape of the profiles
agree, but also there is good agreement in the solid velocities between
the DPM simulations and TFM simulations with free-slip boundary con-
ditions.

In Figure 3.28 the bubble aspect ratio as function of the equivalent
bubble diameter is presented. The bubble shape in the simulations with
partial slip is more spherical than the bubbles in the simulations with
free-slip. The spherical bubbles in the partial slip simulations will coa-
lesce faster with neighboring bubbles than the bubbles in the free-slip
simulations, rand as a result bubbles which are formed at opposite sides
of the bed will reach each other at a lower position above the distribu-
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Figure 3.27: Influence of the boundary conditions on the lateral profiles
of the time-averaged solids axial velocity using TFM simulations. Super-
ficial gas velocity: 2.5 ug/u,¢, and packed bed aspect ratio of 1. e, ya is
equal to ¢,. (a) boundary condition: partial slip, h = 0.05 m; (b) boundary
condition: free slip, h = 0.05 m; (c) boundary condition: partial slip, h =
0.075 m; (d) boundary condition: free slip, h = 0.075 m.

tor. When comparing the bubble aspect ratio of the TFM simulation with
free-slip with the DPM simulations presented in Figure 3.12f it can be
seen that qualitatively the same bubble behavior can be seen.

3.4.3 Comparison with Particle Image Velocimetry and
Digital Image Analysis with DPM and TFM

In this section, the results obtained from DPM and TFM simulations
will be compared with experimental data obtained with PIV and DIA
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Figure 3.28: Influence of the boundary conditions on the bubble aspect
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(presented in chapter 2). The settings of the experiments and the CFD
models have been summarized in Table 3.17. The fluidized bed in the
experiments was filled with glass beads, therefore the collisional proper-
ties of glass beads have been used in the simulations. The glass beads
in the experiments had a particle size distribution of 0.40-0.60 mm, with
a mean diameter of 0.485 mm.

In Figures 3.29 and 3.30 the time-averaged particle velocities for the
PIV combined with DIA experiments, DPM and TFM are respectively
compared at uo/u,s = 2.0 and uo/u,r = 2.5. It can be seen that the shape
of the macroscopic circulation patterns for the experiments, the DPM
and the TFM are similar at both superficial gas velocities. The parti-
cles move from the corners upwards toward the center of the fluidized
bed and when they reach the center, move upward. When the particles
reach the top, they are transported towards the side wall and subse-
quently move downwards to the bottom of the fluidized bed. However
from the figures it can be observed, quantitative, that the solids phase
in the TFM simulations is moving more vigorously through the fluidized
bed than the solids in the experiments and the DPM simulations.

In Figures 3.31 and 3.32 the lateral profiles of the time-averaged ax-
ial particle velocity are given at two different heights (0.05 and 0.10 m)
above the distributor for both superficial gas velocities. It can be seen
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Table 3.17: Settings for the experiments, DPM and TFM simulations, for
a 15 ¢m wide bubbling fluidized bed.

Parameter Exp. DPM TFM
Width x-direction [m] 0.15 0.15 0.15
Depth y-direction [m] 0.015 0.00291 2.5x1073
Height z-direction [m] 1.00 0.45 0.30
Grid cells (x,y,2) - 150,1,450 60,1,120
Packed bed height [m] 0.15 0.15 0.15
# of particles [-] ~650.000 ~ 650.000 -
Particle material Glass Glass Glass
Particle diameter [m] 4-6x10™* 4.85x10™* 4.85x107*
Particle density [kg.m™] 2500 2500 2500
Min. fluidization velocity [m.s™!] | 0.18 0.21 0.21
Superficial gas velocity [m.s™!] 0.36,0.45 0.42,0.53 0.42,0.53
Normal restitution coef. [-] - 0.97 0.97
Tangential restitution coef. [-] - 0.33 -
Frictional coefficient [-] - 0.10 -
Flow solver time step [s] - 1.0x107* 1.0x107°°
Simulation time [s] - ~20 30
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Figure 3.29: Time-averaged particle velocity for a superficial gas velocity
of 2.0 up/uy. (@) PIV-DIA; (b) DPM; (c) TFM.
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Figure 3.30: Time-averaged particle velocity for a superficial gas velocity
of 2.5 up/uy¢. (a) PIV-DIA; (b) DPM; (c) TFM.

that the TFM over predicts both the ascending and descending parti-
cle movement. In addition, the area in which the particles descend, is
larger for the TFM simulations than the area in which the particles de-
scend in the experiments and the DPM simulations. Furthermore, the
experimental lateral profiles of the time-averaged axial particle velocity
is always lower in the ascending and descending motion in comparison
with the DPM results. However, the shape of the curves is similar.

In Figures 3.33 and 3.34 the time-averaged bubble properties of the
experiments are compared with the DPM and TFM simulations. First,
in Figures 3.33a and 3.34a the equivalent bubble diameter versus the
height above the distributor is given. It can be seen that the bubbles in
the DPM simulation are the largest, followed by the TFM and experimen-
tal results. The larger bubbles in the DPM and TFM simulation could
be caused by the larger excess flow rate. The theoretical excess flow
rate at 2.0up/u,¢ in the experiments is 0.65(0.36 —0.18) = 0.117m.s”' and
for the simulations the theoretical excess flow rate is 0.65(0.42 — 0.21) =
0.137m.s™!, approximately 15% higher. In Figures 3.33d and 3.34d the
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Figure 3.31: Time-averaged axial particle velocity in experiment, DPM
and TFM simulation, packed bed aspect ratio = 1, superficial gas velocity
of 2.0 up/uyy, (@ h =0.05m; (b) h =0.10 m.

visual bubble flow rate is given for both superficial gas velocities. In
both figures, the visual bubble flow rate in the DIA experiments reaches
a plateau of respectively 0.3 and 0.35. The DPM and the TFM results
show that the visual bubble flow rises slower, however in the DPM and
in the TFM, the visual bubble flow does not reach a plateau value and
keeps increasing to the top of the fluidized bed. This suggests that in
the top half of the bed more gas is passing through the fluidized bed
as bubbles than in the experiments. In Figures 3.33b and 3.34b the
normalized bubble distribution over the height of the fluidized bed is
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Figure 3.32: Time-averaged axial particle velocity in experiment, DPM
and TFM simulation, packed bed aspect ratio = 1, superficial gas velocity
of 2.5 ug/uyy, (@) h =0.05 m; (d) h=0.10 m.

presented. The bubble distribution is normalized by dividing the num-
ber of bubbles at a given height by the total number of bubbles. This
has been done because the time-span of the experiments and the sim-
ulations was not the same. For both superficial gas velocities, the DIA
and the DPM results show the same trend, only the bubbles appear
slightly higher in the DPM simulations. In the TFM simulations, the
bubbles appear at a even higher position above the distributor in the
fluidized bed and the peak is not as high as in the experiments and the
DPM. In Figures 3.33e and 3.34e the bubble aspect ratio is presented.
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From these figures, it becomes clear that the shape of the bubbles in the
experiments and the DPM simulations show the same trend, however
the bubbles have not exactly the same sphericity. The TFM simulations
show somewhat different bubble aspect ratios. This suggests that the
collisional model used in the DPM simulations describes the collisions
in the experiments accuratly, the collisional properties in the TFM miss
the energy dissipation in the due to the friction and due to the energy
dissipation due to tangential dashpot, as was discussed in the previous
sections about the collisional properties. Finally, in Figures 3.33c and
3.34c the bubble rise velocity is plotted versus the bubble diameter for
both superficial gas velocities. Both the TFM and the DPM over predict
the rise velocity of a bubble with a given bubble diameter. It appears
that the smaller bubbles in the TFM simulations rise faster through the
fluidized bed than in the DPM simulations.

There are other reasons why the experimental results differ from the
DPM and (especially) the TFM results. In the experiments, glass beads
with a particle size ranging from 400 to 600 um were used, whereas in
the simulations a uniform particle size of 485 um was used. Further-
more, in the simulations the glass beads were assumed to be perfectly
round, i.e. a sphericity of 1, which was not the case in the experiments.
In the simulations, the collisional properties of the walls were assumed
to have the same as the collisional properties of the glass beads, in the
experiments, this was probably not the case because the side of the
column was made of aluminum. Due to the relatively low superficial
gas velocity, the distributor used in the experiments may not have dis-
tributed the gas perfectly over the bottom of the fluidized bed. Finally,
the fluidized bed could be slightly static which could cause glass beads
moving slower across the glass plates at the front and back of the flu-
idized bed.

3.5 Conclusions

To investigate the influence of the microscopic particle properties on the
time-averaged solids phase velocity profiles and time-averaged bubble
properties detailed DPM and TFM simulations have been performed.
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Figure 3.33: Comparison of the time-averaged bubble properties at a
superficial gas velocity of 2.0 ug/u,y, (a) Equivalent bubble diameter vs.
height above the distributor; (b) Number of bubbles vs. height above the
distributor; (c) Averaged bubble rise velocity vs. equivalent bubble diam-
eter; (d) Visual bubble flow vs. height above the distributor; (e) Bubble
aspect ratio vs. equivalent bubble diameter.
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Figure 3.34: Comparison of the time-averaged bubble properties at a
superficial gas velocity of 2.5 uo/u,s, (@) Equivalent bubble diameter vs.
height above the distributor; (b) Number of bubbles vs. height above
the distributor; (c) Averaged bubble rise velocity vs. equivalent bubble
diameter; (d)) Visual bubble flow vs. height above the distributor; (e)
Bubble aspect ratio vs. equivalent bubble diameter.
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3.5. Conclusions

The collision properties of the particles influence the minimum flu-
idization velocity which especially holds for the friction coefficient. This
is caused by the fact that particles loose mechanical energy when they
collide with each other which prevails at incipient fluidization condition.

Furthermore it was found that the collision properties have a large
influence on the time-averaged solids velocity and time-averaged bub-
ble properties. The time-averaged bubble size and the upward time-
averaged solids velocity are larger when more energy is dissipated due to
the particle-particle or particle-wall interactions. It has been shown that
the energy dissipated in a bubbling fluidized bed due to the tangential
dashpot is two orders of magnitude smaller than the energy dissipated
by the normal dashpot and the friction between particles and particles
and particles and wall. Besides the magnitude of the dissipated en-
ergy, the precise origin of the energy dissipation is also important for
the shape of the bubbles. When the energy is only dissipated by the
normal dashpot, the aspect ratio of the bubbles is higher in compari-
son to when energy is only dissipated due to friction between particles.
Therefore, it is not possible to include the energy dissipated by friction
into an effective restitution coefficient. This was shown by independent
DPM and TFM simulations.

The influence of the particle density is minor when the ratio between
the superficial gas velocity and the minimum fluidization velocity is kept
constant. If this ratio is kept the same, the ratio between the force
exerted on two different particle types by the gas is the same.

Finally, the DPM and TFM results are compared to PIV-DIA mea-
surements. It was shown that the trends for the emulsion phase and
the bubble phase can be predicted with the DPM. Furthermore, it was
concluded that the collisional model of the TFM is not very accurate to
simulate a bubbling fluidized bed.
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CHAPTER

Experimental study on the
hydrodynamics of 3D bubbling
fluidized bed with PEPT

ABSTRACT

In this chapter, the hydrodynamics of a freely bubbling, three dimensional,
gas-solid fluidized bed has been experimentally investigated using differ-
ent bed materials, different bed aspect ratios at different superficial gas
velocities by performing Positron Emission Particle Tracking (PEPT) exper-
iments. The fluidized bed was filled with either glass beads with a di-
ameter of 400-600 um or with linear low density polyethylene (LLDPE)
particles with a diameter of 1000-1300 um, having approximately the ap-
proximately the same ratio of Ar/Re,y, ensuring dynamic similarity. Flu-
idization of both bed materials showed Geldart B type behavior. At lower
superficial gas velocities two distinct vortices appear above each other for
both types of bed material; when the superficial gas velocity is increased,
the lower vortex disappears and the top vortex spans the entire length of
the bed. Although qualitatively the same phenomena were observed, the
time-averaged solids phase circulation rate in the fluidized bed filled with
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LLDPE particles was higher than the time-averaged solids phase veloc-
ity in the fluidized bed filled with glass beads, despite the similar ratio
Ar/[Reys of these bed materials. When the bed aspect ratio is increased
Jrom 1 to 1.5, the vortices become elongated without altering the solids
circulation rate. Differences in the particle-particle collisional properties
(coefficients of restitution and particle friction coefficients) are believed to
be the cause of the observed quantitative differences in the bed hydrody-
namics via their influence on the bubble properties.

4.1 Introduction

In chapter 2 and 3 the bubble and solids phase characteristics in
pseudo-2D bubbling fluidized beds were studied. However, to obtain
quantative information about the solids motion in a full 3-dimensional
(3D) bubbling gas-solid fluidized bed Positron Emission Particle Track-
ing (PEPT) experiments were conducted. PEPT is a measuring technique
which has been developed since 1987 at the University of Birmingham.
In this measuring technique a single radioactive particle is tracked dur-
ing its path through the system in order to obtain information on the mo-
tion of the particulate phase. The advantage of using the non-intrusive
PEPT technique over intrusive techniques (probes) is that the gas and
particle flow is not disturbed at exactly the position where the flow is
measured. In addition, an advantage of the PEPT technique compared
to other (non-intrusive) particle tracking techniques is that there exists
an elegant and rather precise technique to determine the particle posi-
tion during the measurement, where for Radioactive Particle Tracking
(RPT) measurements the location of the particle has to be reconstructed.
Moreover, no calibration of the detectors is required before each PEPT
measurement. A disadvantage of PEPT is, like all other particle tracking
techniques, that a single measurement may take a long time in order
to obtain statistically reliable results, since the movement of a single
“representative” particle or a few particles is followed in time. Another
difference between PEPT and RPT is that the half-live of the tracer par-
ticle is much lower for PEPT experiments. For both PEPT and RPT mea-
surements the loss of activity of the tracer particle needs to be taken
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into account, however, this is more straightforwardly accounted for in
the PEPT measurements compared to RPT measurements. The final ad-
vantage of PEPT measurements compared to RPT is that in the PEPT
measurements the tracer particle is an actual particle from the bulk of
the fluidized bed, whereas the tracer particle used in RPT measurements
is usually not exactly representative since the particle is prepared such
that it resembles the bed particles as close as possible.

In literature, several articles have appeared reporting radioactive
and positron emission particle tracking experiments. See for example
Moslemian et al. (1992) who published RPT measurements in two flu-
idized beds (the first was a 0.19 m diameter column and the second bed
had an internal diameter of 0.292 m and was equipped with internals)
and a bubble column. In addition to the velocity profiles they determined
the turbulent parameters, such as the Reynolds stresses and the turbu-
lent dispersion coefficient. Mostoufi and Chaouki (2001) measured the
diffusivity of the solids in a bubbling fluidized bed. They showed that
the solids diffusivities increased with an increasing superficial gas ve-
locity and that the diffusivities are linearly correlated to the axial solids
velocity gradient. Mostoufi and Chaouki (2004) also investigated the ex-
istence of clusters in dense fluidized beds, they found that descending
clusters were larger than ascending clusters and additionally that the
size of the clusters increases with increasing in the superficial gas veloc-
ity. Stein et al. (2000) performed PEPT experiments to investigated the
solids flow pattern, solid velocity, and solid circulation frequency in two
fluidized beds with an inner diameter of 0.07 and 0.141 m. Furthermore
Stein et al. (2002) performed an experimental verification of the scaling
relationships for bubbling gas-fluidized beds using beds with an inner
diameter of 0.07, 0.141 and 0.240 m. Hoomans et al. (2001) used PEPT
measurements to validate their Discrete Element Model. They used a
pseudo 2D fluidized bed with a width of 0.185 m and a depth of 0.020
m.

Furthermore, several articles have been published which compared
the fluidization behavior of fluidized beds filled with glass beads and
polyethylene particles. Fan et al. (2008) investigated the emulsion phase
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velocity profiles for glass and polyethylene particles in a 0.152 m inner
diameter fluidized bed using PEPT. The glass beads had a mean parti-
cle size of 352 um and a minimum fluidization velocity of 0.15 m.s™! and
the low density polyethylene particles had a mean particle size of 717
pm and a minimum fluidization velocity of 0.24 m.s™L.
measurements for both particle types at two excess gas velocities of 0.25
and 0.42 m.s~! and found different solids phase velocity profiles and dif-
ferent bubble behavior for the two bed materials. For the glass beads

they found that the particles moved upwards through the center of the

They performed

fluidized bed and moved downwards near the walls, however when the
polyethylene particles were used, they found different segments of up-
ward movement at the wall and downward movement at the center and
visa versa, upward motion at the wall and downward motion in the cen-
ter. In addition Fan et al. (2008) measured the bubble rise velocity using
an indirect measuring technique (using the jumps of the tracer particle)
and found that the bubble growth for the polyethylene particles levels off
at an intermediate section of the fluidized bed. They attributed the dif-
ference in bubble diameter to the difference in the Archimedes number
of both particle types, this was first suggested by Baeyens and Geldart
(1986).

Baeyens and Geldart (1986) stated that particles with a higher
Archimedes number are more likely to possess a higher bubble gas
through flow, yielding smaller bubbles because less air is available for
the formation of bubbles. Furthermore, they found that the bubble
size equations suggested by Darton and Werther are suitable for the
glass beads, however the equations overpredict the bubble size for the
polyethylene particles. However, these findings do not agree with the re-
sults reported by Hulme and Kantzas (2004) who used X-ray fluoroscopy
to measure the bubble diameter in a fluidized bed filled with polyethy-
lene particles. They found that they could describe the bubble diameter
and bubble rise velocity in the fluidized bed by using the equations sug-
gested by Werther (1978) and Kunii and Levenspiel (1991). However, the
findings reported by Fan et al. (2008) and Hulme and Kantzas (2004)
for the bubble behavior do not agree with the bubble behavior reported
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in chapter 2, were the comparison between the glass and LLDPE par-
ticles were investigated using Digital Image Analysis. In addition, the
difference in solids circulation patterns between the two different bed
materials described by Fan et al. (2008) was not found using the novel
PIV-DIA measurement described in chapter 2.

To obtain information about larger size fluidized beds, where wall
effects are strongly reduced in comparison to small scale fluidized beds
experiments, a series of dedicated Positron Emission Particle Tracking
(PEPT) experiments have been conducted in a 0.306 m inner diameter
fluidized bed. The influence of the superficial gas velocity, packed bed
aspect ratio and bed material on the macroscopic circulation patterns
was investigated.

First, the experimental set-up and the PEPT measuring technique
will be described. Subsequently, the influence of the bed aspect ratio,
fluidization velocity and type of bed material on the time-averaged solids
velocity profiles are presented and discussed.

4.2 Experimental

The principle of PEPT is based on tracking a radioactively labeled par-
ticle, which is moving in a measuring vessel for a certain time, Parker
et al. (1997). If two positions of the tracer particle and the difference
in time between the two measured positions are known, the velocity be-
tween the two points can be calculated, under the assumption that the
particle moves in a straight line between the two points. Which is a fair
assumption in view of the relatively high temporal resolution. If the mea-
surement is carried out for a sufficiently long period, the time-averaged
solids velocity in the fluidized bed can be determined.

In this section the experimental setup will be described. Further-
more, the PEPT equipment, activation of the tracer particle and recon-
struction of the particle position will be presented. Subsequently, the
experimental settings and the experimental procedure followed in the
PEPT experiments will be shortly outlined.
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4.2,.1 Setup

In Figure 4.1 the flow sheet of the setup is given. Air was used as flu-
idizing agent, which was supplied via a VACOM side channel blower
VC375-1009. To control the air flow a VACON NXL 0016 frequency con-
troller was used. The frequency of the blower could be varied between
10 and 70 Hz. To measure the gas flow rate, a calibrated iM-TM-A gas
turbine meter was installed at such a distance behind the side channel
blower, that inflow effects could be excluded. To prevent electrostatic
build up in the fluidized bed, the air was humidified in a spray column.
In the spray column the temperature of the water and the flow of the
water could be varied, to achieve the desired air humidity. The humidity
of the air was measured in the air chamber using an AFK-G-3T humid-
ity meter (HI). The air was introduced into the air-chamber beneath the
fluidized bed. As gas distributor a metal mesh was used with a pore
size of 18 um. The column was constructed of PVC and had an outer
diameter of 0.314 m and an inner diameter of 0.306 m. The temperature
of the fluidization gas was measured at several different positions, using
PT100’s (TI). The pressure was measured just before the gas turbine me-
ter and in the air chamber using pressure transmitters, PTX1000 (PI).
All the data collected from the pressure, temperature, humidity and gas
turbine meter was logged in a data file using a LabVIEW program. In
Figure 4.2 a picture of the setup is presented.

To make sure that the tracer particle could not exit the fluidized bed,
a 100 um mesh was placed on top of the column. In addition, a hy-
draulic lift was installed in order to move the fluidized bed up and down
dependent on the section of the bed which was under investigation dur-
ing a particular experiment. The humidified air was not enough to pre-
vent electrostatics build up at the wall of the column when linear low
density polyethylene (LLDPE) was used as bed material, therefore thin
aluminum tape was placed on the inside of the PVC column, when the
LLDPE particles were used, with which electrostatic effects could be suf-
ficiently mitigated. Finally, to prevent the setup from vibrating during
the experiments, stabilizers were used to fix the fluidized bed to its po-
sition.
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Fluidized bed

Gas turbine
meter Spray column

Figure 4.2: The experimental setup (a) side channel blower; (b) frequency
controller; (c) spray column; (d) air-chamber; (e) fluidized bed.
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Figure 4.3: A typical PEPT measurement, bed filled with glass beads,
superficial gas velocity of 1.5 ug/u,,; and packed bed aspect ratio of 1.

4.2.2 Measuring equipment

The PEPT camera at the University of Birmingham is an ADAC Forte
(Parker et al. (2002)), and consists of two y-camera heads. Each camera
consists of a single sodium iodide crystal, with a thickness of 16 mm and
an area of 590 x 470 mm?. The sodium iodide crystal is optically coupled
to an array of 55 photomultiplier tubes. When a photon hits the crystal,
scintillation occurs and is registered by one of the photomultipliers, with
which the position of the intersection with the y-ray can be determined.
During the measurements the detectors were 0.44 m apart.

4.2.3 Radioactive tracer particle

To track a particle with the PEPT technique, it is important that the
properties of the tracer particle mimics the properties of the bed parti-
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cles. The tracer particle which was used during the PEPT experiments
was taken from the bed material, and therefore mimics the particles in
the emulsion phase exactly.

For PEPT experiments, radioactive tracer particles are used which
nuclei contain more protons than needed for its stability, therefore the
particles decay by transforming a proton into a neutron under the emis-
sion of a positron. When the positron leaves the tracer particle, it rapidly
annihilates with an electron, producing a pair of 511 keV y-rays which
are emitted almost exactly back-to-back (Parker et al. (1993)).

The tracer particles used during these measurements were not ac-
tivated by direct activation, but by an activation technique which has
been developed at the University of Birmingham (Fan et al. (2006a)).
This technique involves a surface modification via the introduction of
metallic ions on the surface of the tracer particle. 8F - anions will ab-
sorb/bind with the metallic ions on the solid surface, creating a ra-
dioactive charge. The absorption of '®F is achieved by placing the tracer
particle in activated water and shake it for a certain time. The oxygen
atoms in the water were activated in a 3He beam which was generated by
a cyclotron (160 +3He — BF + neutron). Before performing the exper-
iment the activity of the tracer particle was measured. The strength of
the tracer particle varied between the 600 - 1000 uCi. The half-live of the
18F is approximately 110 minutes. For more information om the activa-
tion of the particle, the interested reader is referred to Fan et al. (2006a)
and Fan et al. (2006b), where a complete description of the developed
activation technique at the University of Birmingham is given.

4.2.4 Particle reconstruction

Although in theory, two back-to-back events would be sufficient to de-
termine the particle position, there are two reasons why this is not the
case. The first reason is that one or both y-rays of the pair can have un-
dergone Compton scattering before the y-ray has reached the detector,
and the second reason is that the two detected y-rays do not originate
from the same positron annihilation event, but from two different events.

The location algorithm to determine the position of the tracer particle
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uses an iterative approach, in which the position of the tracer particle
is first calculated using a predefined number of events. The y-ray pairs
passing the furthest away from the particle position are disregarded and
the position of the tracer particle is recalculated. This is repeated until
all the corrupted events have been disregarded. In addition, the algo-
rithm takes the decrease of activity of the particle during the measure-
ment into account. For more details on the reconstruction technique,
the interested reader is referred to Parker et al. (1993).

The primary output of the PEPT measurements consists of the posi-
tion of the particle in the x, y and z-position as function of time. At the
edges of the detectors, the difference in slope between the back-to-back
y-rays is small. Therefore, the accuracy of the point of intersection in
those locations is reduced, and consequently, the extent of noise is in-
creased. In the experiments with a higher aspect ratio, the PEPT detec-
tors could only cover a part of the bed, and the tracer particle sometimes
left the field of view of the detectors. In these cases, the velocity of the
particle leaving the field of view and the velocity of the particle entering
the field of view were disregarded.

Finally, the particle velocity is calculated using the average parti-
cle velocity over six subsequent particle locations (because of the high
temporal resolution). The velocity is subsequently assigned to the cell
containing the average position of the six particle positions, which was
sufficient to determine time-averaged solids velocity profiles.

4.2.5 Experimental settings

One measurement was conducted for approximately 2.5 - 3 hours. The
superficial gas velocity was varied between the 1.5 and 3.5 ug/u,s and
the aspect ratio has been varied between 1 and 1.5. Two different parti-
cles types were used in the experiments, glass beads and linear low den-
sity polyethylene (LLDPE), both particle types were also used in chapter
2. The glass beads were purchased from Sigmund and Lindner and
the particle size ranged from 400 to 600 uym. The density of the glass
particles is 2500 kg.m~® and the minimum fluidization velocity has been
experimentally determined to be 0.18 m.s~! via the pressure drop versus
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Table 4.1: Experimental settings used in the PEPT experiments.

Parameter

Bed material Glass / LLDPE
Material density ps [kg.m’3] 2500 / 800
Minimum fluidization velocity i, [m.s‘l] 0.18 / 0.24
Superficial gas velocity uo/u s [~] 1.5-3.5
Bed diameter dy.; [m] 0.30
Packed bed height [m] 0.30-0.45
Particle size distribution glass beads [um] 400-600
Particle size distribution LLDPE [um] 1000-1300

velocity method, see Kunii and Levenspiel (1991). The second particle
type is linear low density polyethylene (LLDPE), courteously provided by
LyondellBasell. The original LLDPE particles had a broad particle size
distribution; therefore, the particles were sieved to obtain a narrow par-
ticle size distribution. The particle size for the LLDPE particles after
sieving ranged from 1000 to 1300 um, yielding an experimental mini-
mum fluidization velocity of 0.24 m.s™!. According to Glicksman (1984),
when keeping the ratio Ar/Re,s the same for both bed materials, the dy-
namics should remain the same in the fluidized bed. The ratio Ar/Re,y
for glass beds is 1.73x10° and for the LLDPE particles is 1.76x10%. The
experimental settings have been summarized in Table 4.1.

The humidity of the fluidization agent for the glass beads was set at
80% to prevent electrostatic build-up in the fluidized bed. For the ex-
periments with LLDPE the internal wall of the vessel was partly covered
with very thin aluminum tape and the humidity was set to 60-70%. The
experiments with an aspect ratio of 1 could be obtained on basis of a
single PEPT experiment, however, when the aspect ratio was increased
to 1.5, the measurement had to be cnducted in two steps and subse-
quently combined in a post-processing step. The field of view of the
detectors had an overlap of approximately 0.21 m during the two mea-
surements to reduce the error in the measurement at the edge of the
detectors.
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4.2.6 Experimental procedure

The following steps were used during the start-up of the experiments.
First, the tracer particle was prepared. The column was filled with the
desired bed material to reach the desired (packed) bed height and sub-
sequently the superficial gas velocity was slowly increased to the desired
superficial gas velocity, followed by, starting the PEPT detectors and the
introduction of the tracer particle into the fluidized bed. During the in-
troduction of the tracer, the gas flow was turned off. After the tracer par-
ticle was introduced in the fluidized bed, the gas flow was again slowly
increased until the desired fluidization velocity was reached and finally
the PEPT measurement was started. In Figure 4.3 a picture of the bed
and PEPT equipment is shown during a measurement is shown.

4.3 Results and discussion

In this section, the results of the PEPT measurements are presented and
discussed. First the reproducibility of the PEPT measurements is as-
sessed, followed by a description and discussion of the PEPT results for
different superficial gas velocities and for the two types of bed materials.
Finally, the influence of the aspect ratio is investigated and discussed.

Reproducibility

To investigate the reproducibility of the PEPT measurements, an exper-
iment at a superficial gas velocity of 2.5 uy/u,,r has been repeated. The
fluidized bed was filled with LLDPE particles and the packed bed as-
pect ratio was 1. The results of the azimuthally and time-averaged axial
emulsion phase velocity profiles at three different heights above the dis-
tributor are compared in Figure 4.4a. It can be concluded from this fig-
ure, that the reproducibility of the PEPT experiments at all three heights
above the distributor is quite satisfactory. Besides the reproducibility
of the PEPT measurements, it was investigated if the measuring time of
the PEPT measurement was sufficiently long to obtain converged time-
averaged solids velocities. Therefore, the experimental data of one of the
above experiments was reprocessed, where the last 2500 seconds were
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Figure 4.4: (a) Reproducibility of the PEPT experiments, azimuthally
and time-averaged lateral profiles of the axial solids velocity at three
different heights above the distributor; (b) influence of the measuring
time (10.000 and 7.500 s). The superficial gas velocity was 2.5 ug/uy,
the fluidized was filled with LLDPE particles up to a packed bed height
of 0.30 m.

disregarded. Figure 4.4b shows that the measuring time used for the
PEPT measurements was indeed sufficiently long to obtain converged
time-averaged solids velocity profiles.

Influence of the superficial gas velocity and bed material

Next, the influence of the superficial gas velocity and type of bed ma-
terial on the azimuthally and time-averaged solids velocity profiles are
presented in Figure 4.5 and 4.6.

It can be seen from these figures that at low superficial gas velocities,
two distinct vortices appear above each other for both the glass beads
and the LLDPE particles. When the superficial gas velocity is increased,
the lower vortex decreases in size and at a higher superficial gas velocity,
the lower vortex completely disappears while the top vortex spans the
entire length of the fluidized bed were the center of the vortex is situated
in the top half of the bed. The location of the center of the top vortex
is practically the same for both particle types, however the difference in
behavior between the glass beads and the LLDPE particles is that in the
fluidized bed filled with the LLDPE particles the lower vortex disappears
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Figure 4.5: Azimuthally and time-averaged solids velocity profiles using
glass beads for different superficial gas velocities, packed bed height was
0.30 m, particle size was 400 - 600 um, superficial gas velocity was (a)
1.5 uo/upg; (D) 2.5 uo/tns; () 3.5 uo/thpg.
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Figure 4.6: Azimuthally and time-averaged solids velocity profiles using
LLDPE particles for different superficial gas velocities, packed bed height
was 0.30 m, particle size was 1000 - 1300 um, superficial gas velocity
was (a) 1.5 ug/unf; (b) 2.5 uo/upys; (d) 3.5 uo/upy-
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already at a lower superficial gas velocity, and that the time-averaged
upward velocity in the center of the bed is much higher (see also Figure
4.7)

These particle flow patterns indicate that at low superficial gas veloc-
ity the bubbles are formed at the walls of the fluidized bed. The bubbles
grow and move toward the center of the fluidized bed due to bubble co-
alescence. However at 1.5 uo/u,s, the bubbles which are formed at the
bottom do not traverse all the way to the center, creating a downward
movement of the particles in the center of the fluidized bed just above
the distributor plate. At 2.5 uy/u,,y the bubbles generated at the bottom
do on average traverse towards the center of the bed, for the glass beads
at 100-150 mm above the distributor and for the LLDPE particles at 50
mm above the distributor. When the superficial gas velocity is increased,
more bubbles are formed and the bubbles are larger, which results in a
faster coalesce and thus a larger lateral velocity toward the center of the
column, which agrees with the results presented in chapter 2. For 3.5
up/unys this lateral bubble movement is even more pronounced, resulting
in a single vortex spanning from the bottom to the top of the fluidized
bed. The behavior of the solids and bubble phase displayed in these
measurements agrees well with results published in literature, see for
example Kunii and Levenspiel (1991) or Stein et al. (2000).

Note that at the top of the column, the velocity vectors are not as
smooth as in the rest of the bed, especially at lower superficial gas veloc-
ities. This is caused by the fact the particles at the top of the bed display
a much more pronounced dynamic behavior, where, particles are contin-
uously ejected from the fluidized bed which would require much longer
measurement time to capture the time-averaged profiles accurately.

In Figure 4.7 the lateral profiles of the time-averaged axial solids ve-
locity at three different heights above the distributor are given. On the
left hand side of the figure, the results at three different superficial gas
velocities for the glass beads are given and on the right hand side, the
results for the LLDPE particles are given at the same fluidization veloc-
ity. When comparing the time-averaged lateral profiles of the axial solids
velocity at the same superficial gas velocity, the shape of the graphs are
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quite similar for the glass beads and LLDPE particles, however, the par-
ticles in the LLDPE filled fluidized bed have a significant larger upward
time-averaged axial solids velocity in the center of the bed (note the dif-
ference in scale in the figures).

Furthermore, when the results of the glass beads and LLDPE par-
ticles are compared at the same ug/uyy, it becomes clear that the area
in which an overall upward and downward movement of the particles
is measured (i.e. the intersection of the curves is located at the same
lateral position), is quite similar for both the glass beads and the LLDPE
particles. The downward axial velocity of the particles is slightly higher
when LLDPE particles are used as bed material compared to the glass
beads, however, the upward solids velocity of the LLDPE particles is sig-
nificantly higher than the upward axial solids velocity of the glass beads.
From the continuity equation it can be concluded that the core of the bed
filled with LLDPE has to have a lower density than the core of the bed
when it was filled with glass beads. The lower density in the fluidized
bed filled with LLDPE particles has to be caused by the larger bubbles
(bubble hold-up) in the center of the fluidized bed, as shown in chapter
2. Using DIA it was shown that the average bubble size in the fluidized
bed filled with LLDPE was indeed larger bubbles than in the fluidized
bed filled with glass beads.

Moslemian et al. (1992) used CARPT to investigate the circulation
patterns in bubbling fluidized beds and found that for different superfi-
cial velocities the transition from up- to down-flow was at approximately
the same lateral position in the fluidized bed. In addition, Stein et al.
(2000) also used PEPT to investigated the macroscopic circulation pat-
terns in a bubbling fluidized bed, they plotted the up flow and down
flow of the particles separately and found that the up flow in a bubbling
fluidized bed occurred at r/R = 0 — 0.27 and the down flow was mainly
achieved at r/R = 0.7 — 1. Up- and down-flow was mainly achieved at
the intermediate region. Both the findings of Moslemian et al. (1992)
and Stein et al. (2000) agree well with the PEPT measurements pre-
sented in this chapter. The transition between the up- and down-flow at
higher superficial gas velocities (2.5-3.5 ug/u,,s) was found to be between
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Figure 4.7: Azimuthally and time-averaged lateral profiles of the axial
solids velocity at three different heights above the distributor plate, the
packed bed height was 0.30 m, the bed was filled with glass beads or
LLDPE particles, the superficial gas velocity was (a) 1.5 ug/u,s glass; (b)
1.5 ug/uny LLDPE; (c) 2.5 ug/uyy glass; (d) 2.5 ug/u, s LLDPE; (€) 3.5 g/t

glass; (f) 3.5 uo/u,s LLDPE.
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r/R = 0.6 — 0.66.

The particularly interesting finding in the chapter is that fluidized
beds with particles of the ratio Ar/Re, s exhibit significantly different ax-
ial solids velocities in the center of the fluidized bed, which is attributed
to different bubble properties caused by differences in the particles col-
lisional properties, see chapter 2 and 3).

Influence of the bed aspect ratio

To investigate the influence of the bed aspect ratio, several additional
experiments have been carried out with a packed bed height of 0.45 m,
i.e. an bed aspect ratio of 1.5. The superficial gas velocity was varied
between 2.5 and 3.5 up/u,r. The results of these experiments will be
discussed in this paragraph. In Figures 4.8 and 4.9 the azimuthally and
time-averaged solids velocities for respectively the glass beads and the
LLDPE particles are compared for the two bed aspect ratios.

From these figures it can be observed that for both bed aspect ratios
two vortices appear above each other in the fluidized bed, where the
lower vortex disappears at increasing superficial gas velocity and that
the vortex in the fluidized bed filled with LLDPE particles is much more
pronounced than the fluidized bed filled with glass beads. The position
of the center of the lower vortex is similar for the bed with a bed aspect
ratio of 1.5 as the position of the lower vortex in the fluidized bed with
a bed aspect ratio of 1. This indicates that the bubble behavior in the
lower part of the fluidized bed for both bed aspect ratios is quite similar,
i.e. the bubbles will move with the same lateral velocity to the center of
the fluidized bed. The top vortex in the fluidized bed with aspect ratio
1.5 is more stretched and the center of the vortex is situated at a higher
position in the fluidized bed.

In Figure 4.10 the azimuthally and time-averaged lateral profiles of
the solids phase velocity for the different superficial gas velocities, bed
aspect ratios and bed materials are presented. Where on the right hand
side of the figure, the results of the glass beads at different aspect ratios
are presented and on the right hand side the results of the LLDPE par-
ticles. The solid lines indicate the results at bed aspect ratio 1 and the
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Figure 4.8: Azimuthally and time-averaged solids velocity measured with
PEPT, the packed bed height was 0.30 and 0.45 m and the bed material
was glass beads, the superficial gas velocity was (a) Aspect ratio 1, 2.5
uo/uny; (b) Aspect ratio 1.5, 2.5 ug/uys; (c) Aspect ratio 1, 3.5 ug/uyys; (d)
Aspect ratio 1.5, 3.5 ug/uyy;

142



4.3. Results and discussion

800 800[0-10m/s  goor
700 700} 1 700
600 600} 1 600
500 500 500
g
£ 400 400 400
N
300 300 300
200 200 200
100- W\ 100 Sl 100R W
< \\\\\:/_/: i f ’ N
% % % 100
r [mm]
G)

Figure 4.9: Azimuthally and time-averaged solids velocity measured with
PEPT, the packed bed height was 0.30 and 0.45 m and the bed material
was LLDPE, the superficial gas velocity was (a) Aspect ratio 1, 2.5 ug/uy;
(b) Aspect ratio 1.5, 2.5 uo/u,y; (c) Aspect ratio 1, 3.5 ug/uyy; (d) Aspect
ratio 1.5, 3.5 ug/uuf;
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Figure 4.10: Influence of the bed aspect ration on the azimuthally and
time-averaged lateral profiles of the axial emulsion phase velocity at
three heights above the distributor (a) glass beads at 2.5 ug/u,y; (b) glass
beads at 3.5 ug/uyys; (c) LLDPE at 2.5 ug/uys; (d) LLDPE at 3.5 ug/upy.
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dashed line indicate the results for the bed aspect ratio of 1.5. The aver-
aged axial velocity is compared at the same three heights (110, 210 and
310 mm) above the distributor in Figure 4.10a till Figure 4.10d. It can be
observed that the solids velocity at 110 mm above the distributor for all
bed materials and conditions is basically the same for both bed aspect
ratios. At higher positions in the bed, there is a large deviation between
the time-averaged solids phase velocities for both bed materials. This
does not agree with the finding in chapter 2, where it was shown that
the number-averaged solids velocity was not a function of the bed height
when comparing at the same distance above the distributor.

The azimuthally and time-averaged lateral profiles of the axial solids
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Figure 4.11: Comparison of the azimuthally and time-averaged lateral
profiles of the axial emulsion phase velocity at three different heights
above the distributor (a) glass at 2.5 ug/u,,r; (b) LLDPE at 2.5 ug/uy.

velocity at approximately the same position (relative to the center) in the
vortex are compared in Figure 4.11a and Figure 4.11b. In this figure
the average axial velocity at a superficial gas velocity of 2.5 wug/u,y is
compared at the same three position in the vortex. From this figure it
becomes clear that the time-averaged solids velocity is almost the same.

4.4 Conclusions

In this chapter the solids motion in a three dimensional fluidized bed
with an inner diameter of 0.306 m has been investigated experimentally
using PEPT. Azimuthally and time-averaged solids velocity profiles have
been obtained for different superficial gas velocities, bed materials and
packed bed aspect ratios.

Glass beads (400-600 um) and LLDPE particles (1000-1300 pm), hav-
ing more or less the same ratio of Ar/Re,s and showing Geldart B type
behavior, have been used.

First, it was shown that the PEPT measuring technique produces
well reproducible results and the measuring time was sufficiently long
to obtain the converged time-averaged emulsion phase velocity profiles.

At low superficial gas velocities, two distinct vortices are formed
above each other in the fluidized bed for both bed materials, however,
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when the superficial gas velocity is increased, the lower vortex disap-
pears and the top vortex spans over the entire length of the fluidized
bed were the center of the vortex was situated in the top half of the
fluidized bed. The lower vortex disappears at a lower superficial gas
velocity when the fluidized bed was filled with LLDPE particles, indicat-
ing that the bubbles formed at the walls of the fluidized bed traverses
faster towards the center than when the fluidized bed was filled with
glass beads. Moreover, the average axial solids velocity in the center of
the fluidized bed filled with LLDPE is much higher than when the bed
was filled with glass beads, which was also found in chapter 2, were
the number-averaged solids velocity was measured using Particle Im-
age Velocimetry combined with Digital Image Analysis. This is probably
related to the larger average bubble diameter in the fluidized bed filled
with LLDPE particles as could be seen in chapter 2, where the averaged
bubble size was measured for a fluidized bed filled with glass beads and
LLDPE particles with Digital Image Analysis. The difference in bubble
properties can only be attributed to differences in the extent and man-
ner of mechanical energy dissipation in the particle-particle interactions
(coefficient of restitution and friction coefficient), which is supported by
CFD computations, see chapter 3.

A comparison of the time-averaged solids flow behavior in a fluidized
bed with a packed bed aspect ratio of 1 and 1.5 showed qualitatively the
same behavior.

However, when comparing the time-average axial velocity at the same
height in the fluidized beds with different aspect ratios, are not the same.
The averaged axial solids velocity in the fluidized bed with an aspect
ratio of 1 is higher than the averaged axial solids velocity in the fluidized
bed with an aspect ratio of 1.5. When comparing the averaged solids
velocities at the same relative position of the center of the vortex, the
velocities do agree nicely with each other.
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CHAPTER

Modeling of large scale fluidized
bed reactors with the Discrete
Bubble Model

ABSTRACT

To investigate the hydrodynamic behavior of industrial scale bubbling flu-
idized bed reactors, a 3D Discrete Bubble Model (DBM) has been used. In
the DBM, an Euler-Lagrange model, the bubbles are treated as discrete
elements and the bubble trajectories are tracked individually, while the
emulsion phase is considered as a continuum and is described with the
continuity and Navier-Stokes equations. The main advantage of the DBM
is that it fully accounts for the two-way coupling, allowing computation of
the prevailing macroscopic circulation patterns in large scale gas-fluidized
beds. In this chapter, we have examined the effects of bubble-bubble
interactions on the macro-scale velocity profiles using the DBM. It has
been found that the extent of the macroscopic circulation is significantly
increased by the bubble-bubble interaction forces.
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5.1 Introduction

To describe the macroscopic circulation patterns in an industrial scale
gas-sold fluidized bed reactor, several modeling approaches have been
presented in literature. The first approach is an agent-based bubble
model of Pannala et al. (2003, 2004). In this model, the bubbles rise
through the fluidized bed according to its size and the model accounts
for bubble coalescence. A disadvantage of this model is that it disre-
gards the interaction between the bubble phase and the emulsion phase.
Therefore it is unable to describe the emulsion phase behavior properly.
The second approach is the Euler-Euler approach (continuum models).
The main disadvantage of the continuum models is that the closures are
not suitable for course grid simulations, therefore filtered Euler-Euler
models have been introduced, see for example Igci et al. (2008). In this
model, the equations for the drag force and the virtual mass force are
filtered, by averaging over a predefined filter length. The influence of the
micro structures have to be implemented in the model via constitutive
equations, obtained via experiments or sub grid models. The fourth ap-
proach was introduced by Bokkers (2005), the Discrete Bubble Model
(DBM). In the DBM, an Euler-Lagrange model, bubbles are modeled as
discrete elements and are tracked individually with Newton’s second law
during their path through the emulsion phase. The emulsion phase is
considered as a continuum, for which the continuity and Navier-Stokes
equations are solved. In addition to bubble coalescence and break-up,
also the two-way coupling between the bubbles and the emulsion phase
can be fully accounted for.

In this chapter the effect of the wake acceleration due to bubble-
bubble interactions will be investigated. When fluidizing a Geldart B
type powder, the actual gas velocity exceeds the bubble velocity and cor-
respondingly, a large part of the gas flows from bubble to bubble through
the fluidized bed. This results in an increased rise velocity of the bub-
bles compared to the rise velocity of a single isolated bubble due to an
additional apparent force acting on the bubble, referred to as the wake
acceleration force. Pannala et al. (2003) and Pannala et al. (2004) used
an empirical correlation for the magnitude of the modified bubble rise
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velocity, and the bubble velocity was directed toward its closest lead-
ing bubble. To incorporate the wake acceleration force into the DBM,
the bubble velocity results from a force balance where the momentum
exchange with the emulsion phase is fully accounted for. Then the bub-
ble velocity is subsequently adjusted to model the effects caused by the
presence of the wake of leading bubbles, using the equations derived
by Farrokhalaee (1979) based on potential flow theory. Here, multiple
pair-wise interactions between leading and tailing bubbles are consid-
ered, where it has been assumed that the potential streams around one
bubble are not affected by the presence of other neighboring bubbles.

In this chapter, the governing equations, together with their closures
are presented, followed by the numerical implementation. Furthermore,
the results of the simulations are presented and discussed. At the end
of the chapter, the conclusions will be given.

5.2 Discrete Bubble Model

Although the DBM idealizes the bubbles as discrete perfect spheres in
the collision detection algorithm, its strong advantage is that it fully
accounts for the two-way coupling, i.e. the bubbles rising through the
emulsion phase will affect the dynamics of the emulsion phase and, visa
versa, the emulsion phase velocity patterns will be influenced by the
drag exerted by the bubbles on the emulsion phase. Because all the
bubbles are tracked individually, the DBM requires no a priori assump-
tions on the encounter frequency, an important factor determining the
bubble coalescence rate. A full description of the DBM is given in this
section, starting with both phases of the fluidized bed reactor, the emul-
sion and bubble phase, followed by the bubble-bubble interactions, the
boundary conditions and finally the solution strategy.

5.2.1 Emulsion phase dynamics

The emulsion phase consists of a mixture of particles and gas and is
regarded as the Eulerian part of the model. Therefore, the hydrodynam-
ics of the emulsion phase are described using the continuity equation
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and the volume-averaged Navier-Stokes equation, after Anderson and
Jackson (1967).

a efMe N
M-l'v‘(gepeuc):() (51)
ot
a e 6_)8 N N 5
(88;; U ) +V- (eepeugue) =—&Vp—-V- (€.7T0) + S + €opel (5.2)

The porosity of the emulsion phase is represented by ¢, p. is the
emulsion phase density and ¢ is the gravitational acceleration. The mo-
mentum transfer between the bubble and emulsion phase is described
by the source term, S, for more information about the source term, see
section 5.2.4. It is assumed that the emulsion phase stress tensor, .,
obeys the Newtonian form, which is given by

- -> - 25 -
2= e [Vue + (Vi)' - S1(Vi) (5.3)

where p, and [ are represents respectively the emulsion phase shear
viscosity and the unit tensor.

5.2.2 Bubble dynamics

In the DBM, the bubbles (gas phase) are regarded as the Lagrangian
part of the CFD code, i.e. all the bubble trajectories are calculated by
integrating Newton’s second law of motion,

do,
i

where m;, and 7, denote the bubble mass and velocity. fc, F P, ﬁD, ﬁVM

2f=fc+ﬁp+ﬁp+ﬁm+f53 (5.4)

and Fpp are respectively, the gravitational, pressure, drag, virtual mass
(added mass) and bubble-bubble force. Closures for the forces are listed
in Table 5.1, with the exception of the bubble-bubble force, which will
be discussed in section 5.2.3.

The closure for the drag force, Cp, was determined by Bokkers et al.
(2006) to be 2.64, derived from the terminal rise velocity of a single
isolated bubble. The virtual mass force closure, Cyy, was assumed to
be 0.5 (Bokkers et al. (2006)). Furthermore, it has been assumed that
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Table 5.1: Forces in the Discrete Bubble Model

Force Equation Closure
Gravitational Iic = p Vi -
Pressure Fp =-V,VP -
Drag Fp = —1CppenR2 |7 - il| (7 - i) Cp =2.64
Virtual mass Fyy = —Cvmpe Ve (%ﬁ - DD%Z) Cyum = 0.5
Bubble-Bubble See section 5.2.3 -

t After Odar and Hamilton (1964), t* after Auton (1983)

there is no net gas exchange between the emulsion and bubble phase
and that bubbles only grow due to coalescence with other bubbles.

5.2.3 Bubble-bubble interactions

In the DBM, two different types of bubble-bubble interactions are dis-
tinguished, namely bubble coalescence and the acceleration of a bubble
in the wake of a leading bubble, i.e. the wake acceleration force.

Bubble coalescence

The implementation of bubble coalescence in the DBM is a simplified
model which assumes a 100% coalescence efficiency for a bubble-bubble
encounter, if the bubble diameter is smaller than a pre-described maxi-
mum bubble diameter. When a bubble collides with another bubble and
would yield a bubble which is larger than the maximum bubble diame-
ter after coalescence, the bubbles are assumed not to coalesce but col-
lide elastically, approximating the dynamic equilibrium between bubble
break-up and bubble coalescence. Bokkers et al. (2006) investigated the
influence of the bubble coalescence. They performed two DBM simula-
tions, where in the first simulation, the bubbles were allowed to coalesce
and in the second simulation, the bubbles were not allowed to coalesce.
In the case with coalescence, the bubbles moved toward the center of
the fluidized bed, whereas in the simulation without coalescence the
complete fluidized bed was filled with bubbles. In addition, in the case
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with coalescence, the time-averaged axial emulsion phase velocity kept
increasing in the axial direction until the top of the fluidized bed, where
in the case without coalescence, the time-averaged axial emulsion phase
velocity reached a constant value.

Wake acceleration force

It is generally accepted that for fluidization of Geldart B type solids,
a large part of the gas is flowing from bubble to bubble through the
bed. Due to this movement of the gas, an additional force is exerted on
the bubbles, here referred to as the wake acceleration force. This force
results in a higher bubble velocity and in a possible lateral movement of
the bubbles inside a fluidized bed reactor.

To include the wake acceleration force into their simulations, Krishna
and van Baten (2001) derived an empirical relation of the influence of
the wake acceleration factor. They used the Davies-Taylor relation for
a single bubble rising through the fluidized bed, extended with the size
factor, SF, suggested by Collins (1967) for gas-liquid systems and the
wake acceleration factor, AF.

v = 0.71+/gd, (SF) (AF) (5.5)
where
1 for ﬂ < 0.125
Dr
L d
SF=1 1.13¢ Dr for 0.125 < D—b <06 (5.6)
T
Dr dy
0.496 - for D> 0.6
AF = 1.64 +2.7722 (uo - udf) (5.7)

The acceleration factor was the best fit for their experimental data set.
Krishna and van Baten (2001) found that the bubble rise velocity was
increased by 1.5 to 3 times in comparison to a single isolated bubble
rising through a fluidized bed, showing the importance of the bubble-
bubble interaction.
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Figure 5.1: Grafical representation of the wake acceleration model, after
Clift and Grace (1985), (a) Vertically aligned bubbles (b) non vertically
aligned bubbles

Another approach to determine the wake acceleration of bubbles in
the fluidized bed was suggested by a.o. Clift and Grace (1970) and Clift
and Grace (1971). Clift and Grace investigated the interaction between
bubble pairs, vertically and non-vertically aligned and bubbles with dif-
ferent diameters. The basic idea of this approach is that the velocity of
the tailing bubble can be approximated by adding the emulsion phase
velocity at the top of the tailing bubble, that the emulsion would have
if the tailing bubble were absent, see Figure 5.1. The emulsion phase
velocity can be calculated by the potential flow around a bubble. Based
on the model suggested by Clift and Grace (1971), Farrokhalaee (1979)
proposed a simplification of the wake acceleration model. Farrokhalaee
stated that the bubble velocity v of the tailing bubble i has a very small
effect on the bubble velocity of the leading bubble j and could therefore
be neglected. Clift and Grace (1985) investigated which wake accelera-
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tion model described the experimental results best by comparing several
different wake acceleration models with their experimental data. They
concluded that the model suggested by Farrokhalaee was at least as
accurate as the more sophisticated models, which did take the influ-
ence of the tailing bubble on the leading bubble into account. Therefore,
the wake acceleration model suggested by Farrokhalaee has been imple-
mented in the DBM. The rise velocity of the bubble including the wake
acceleration force, 7, is calculated using

Niup
v =T+ Z Cijx0jx (5.8)
j

where 7; is the velocity of the bubble under investigation if it were
isolated, ¢;; is the interaction coefficient and finally, 7; are the velocities
of the all leading bubbles. The velocity of the bubble in the y- and z-
direction is calculated in the same manner. The interaction coefficients
can be calculated by, after Clift and Grace (1985).

21+ - (T

Ci,j,z = (59)

2 [((zi —z)+R)2 + (VAT AyZ)z]g

Xi— X
Cijx = (é]m,ﬁ (5.10)

Cijy = (—yl Y ]mu (5.11)

and

3RY ((zi = 27) + Ri) (VA + Ay?)

mij = - (5.12)
2 [((zi - zj) +Ry)? + (\/sz + Ay2)2]2

The wake acceleration has not been included in the momentum

transfer to the emulsion phase, since the wake acceleration is modeled
as a sub-grid phenomenon. Note that here the macroscopic circulation

154



5.2. Discrete Bubble Model

patterns are of interest, and not the detailed velocity profile in the direct
vicinity of a single bubble. Therefore, the wake effect is only incorpo-
rated as a bubble repositioning and not accounted for in the bubble
force balance. The implementation of the wake acceleration in the DBM
has been verified in Appendix 5.1.

5.2.4 Solution method

To solve the pressure and velocity fields for the emulsion phase, the SIM-
PLE algorithm is used. To evaluate the convective terms in the continu-
ity and momentum equations, a second order accurate Barton scheme is
used, whereas the standard second order central discretization is used
for the diffusive terms. A first order implicit time integration is used to
solve the force balance for every individual bubble in the fluidized bed.

The interaction between the bubble and the emulsion phase is cal-
culated via a two-way coupling method. This means that the bubble
phase affects the emulsion phase by the void fraction and the momen-
tum transfer rate from the bubble to the emulsion phase, represented
by the source term in the Navier-Stokes equation.

1

Vcell

g

(ﬁD,z' + ﬁVM,i) (5.13)
Viecell
Furthermore, the emulsion phase influences the bubbles via the slip
velocity in the drag and virtual mass forces. Because the bubbles can
grow larger than the grid size, the volume averaging technique cannot be
applied, therefore a normalized polynomial distribution function is used
to distribute the momentum over the surrounding cells and the same
function is used to map the Eulerian information to the position of the
bubble.

15 [ (i —xip)t (i—xip)® 1
D (xi - xi,b) = E n5 - 2 n3 + ; (5 14)

-n < (x,- - xilb) <+n

Where D is the normalized polynomial distribution function and » is
the width of the distribution window. The interested reader is referred
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to the article by Deen et al. (2004), for more details on the distribution
function.

5.2.5 Boundary conditions

The boundary conditions which are imposed on the walls utilize the flag
concept by Kuipers et al. (1993). The boundaries are schematically pre-
sented in Figure 2 and the corresponding boundary conditions are given
in Table 5.2. The prescribed pressure cells near the top of the column
serve as inlet and outlet zones to accommodate for the changes in the
emulsion phase volume when the bubbles enter or leave the column
(Darmana et al. (2005)). During the initialization step of the simulation
the pressure is set to the hydrostatic pressure in the reactor. The bub-
bles (with a constant predefined bubble diameter) enter the column via
nozzles that are equally distributed over the bottom. When the simu-
lation is started, the bubbles start at a randomly determined vertical
z-coordinate, below the bottom of the column. This has been imple-
mented in the DBM to prevent the occurrence of an undesired pressure
wave in the column. The distance ¢, between the two centers of the two
consecutive bubbles entering the fluidized bed at the same nozzle posi-
tion is set to 2.5xR;,. To calculate the velocity of the bubbles entering
the column, the following equation is used

PoOpA;

Ozenter = N,V, (5.15)

where 1) represents the visual bubble flow rate, in the DBM simula-
tions a constant value of 0.65 (Hilligardt and Werther (1986)) has been
used. A; is the cross-sectional area, the number of nozzles is represented
by N, and the volume of the bubble is V,,.

When the bubble touches the top boundary of the column, the bubble
is marked to be removed from the column. When this happens, the
velocity and the inter phase momentum transfer to the emulsion phase
are no longer updated and the bubble leaves the column with a constant
velocity.
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2 7
5] 5]
3 1 3
7 3 7

Figure 5.2: Flag matrix, after Kuipers et al. (1993).

Table 5.2: Cell flags and their corresponding boundary conditions

flag | Boundary condition

Interior cell, no boundary condition
Impermeable wall, free slip boundary
Impermeable wall, no slip boundary
Prescribed pressure cell, free slip boundary
Corner cell, no boundary condition

NO1Ww N+~

5.3 Results and Discussion

In this section, the results of the DBM are presented and discussed.
First the influence of the bubble interaction model in a rectangular col-
umn will be presented and discussed. The verification of the implemen-
tation of the wake acceleration is presented in Appendix 5.1.

5.3.1 Influence of the wake acceleration model

The influence of the pair-wise bubble-wake interactions has been in-
vestigated by considering three cases: (a) case without bubble-wake in-
teractions; (b) case with bubble-wake interactions, but only considering
the binary interaction with its nearest leading neighbor; and (c) case
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with bubble-wake interactions, accounting for binary interactions with
all leading bubbles; in all these cases bubble coalescence was accounted
for. The emulsion phase density and viscosity and also the gas phase
density were set to values that are commonly encountered in polymer-
ization fluidized bed reactors. Details on the simulation settings can be
found in Table 5.3. Time-averaged velocity profiles were computed by
averaging over 190 s, starting after 10 s to eliminate start-up effects. It
has been verified that with these settings grid and time step independent
results are obtained and that the time-averaging period is sufficiently
long.

Table 5.3: Settings for DBM simulations for the investigation of the im-
pact of the bubble-bubble interactions on the macroscopic circulation
patterns in a bubbling fluidized bed.

Parameter Value
Width x-direction [m] 1
Depth y-direction [m] 1
Height z-direction [m] 3

Grid cells (x,y,2) 20,20,60
Emulsion phase density [kg.m™3] | 400
Emulsion phase viscosity [Pa.s] 0.1
Gas density [kg.m™?] 25
Initial bubble diameter [m] 0.08
Maximum bubble diameter [m] 0.40
Superficial gas velocity [m.s7!] 0.25
Number of nozzles [-] 49
Time step flow solver [s] 5x1072
Time step bubbles |[s] 5x107*
Simulation time [s] 200

In Figure 5.3 and Figure 5.4 snapshots of the bubbles and the time-
averaged emulsion phase velocity vector plots are given for the three
simulated cases. These figures clearly show the very large influence of
the bubble-wake interactions on the average bubble size and the extent
of solids circulation. When accounting for bubble-wake interactions, the
bubble coalescence rate, especially at the bottom of the fluidized bed, is
strongly enhanced, resulting in fewer, but larger and faster rising bub-
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t=200 [s] t=200 [s] t=200 [s]

@ (b) ()

Figure 5.3: Snapshots of the bubbles after 200 s for the three cases:
(a) case without bubble-wake interactions; (b) case with single binary
bubble-wake interactions; (c) case with multiple binary bubble-wake in-
teractions.

bles through the centre of the fluidized bed (which in its turn enhances
the bubble encounter frequency). Also the time-averaged porosity plots
(Figure 5.5) clearly show the increased tendency of the bubbles to move
towards the center of the fluidized bed.

In Figure 5.6a the laterally averaged bubble diameter as function of
the axial position in the fluidized bed is presented. The figure clearly
shows, as could also have been observed qualitatively from Figure 5.3,
that the wake-acceleration force has a very large influence on the av-
erage bubble diameter. From Figure 5.6b, showing the time-averaged
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Figure 5.4: Time-averaged emulsion phase vector plots for the three
cases: (a) case without bubble-wake interactions; (b) case with single
binary bubble-wake interactions; (b) case with multiple binary bubble-
wake interactions.

axial emulsion phase velocity profiles at about 2/3 of the bed height,
the strongly increased solids circulation (strongly increased down flow
near the walls) when accounting for bubble-wake interactions is evident.
Because the wake effect is incorporated as a sub-grid phenomenon in
the bubble repositioning and not directly in the bubble force balance,
the increased average bubble size due to enhanced bubble coalescence
as a result of the wake-acceleration force is the reason why the emul-
sion phase velocity increases as a function of the axial position in the
bed. The figures also show that the effects of the bubble-wake inter-

160



5.3. Results and Discussion
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Figure 5.5: Time-averaged porosity plots: (a) case without bubble-wake
interactions; (b) case with single binary bubble-wake interactions; (c)
case with multiple binary bubble-wake interactions.

actions (increased bubble coalescence and solids circulation) are even
more pronounced, when accounting for multiple bubble-wake interac-
tions (case c) relative to single binary bubble-wake interactions (case
b). In the case a small bubble is the leading bubble (i.e. the nearest
bubble above), while a much larger bubble is very near, only the inter-
action with the small bubble is considered, while the interaction with
the larger bubble is completely ignored, for case b. Therefore, in case
c, where the bubble-wake interactions with all leading bubbles is taken
into account, the bubble coalescence is strongly enhanced, resulting in
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Figure 5.6: Influence of the bubble-bubble interactions on (a) the axial
profile of the laterally averaged bubble diameter; (b) the lateral profile of
the axial emulsion phase velocity at 2.1 m above the distributor.
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an increased averaged bubble diameter and narrowed bubble size dis-
tribution. For case c, the average bubble rise velocity is about 1.6 times
higher than the rise velocity of an isolated bubble, which corresponds
quite reasonably to the findings of Krishna and van Baten (2001). Ac-
cording to the correlations proposed by Krishna and van Baten, based
on experimental results on an air-FCC catalyst (Geldart A) system, the
bubble velocity should be increased by a factor of 1.8 compared to the
undisturbed bubble rise velocity due to the bubble-bubble interactions.

5.4 Conclusions

The effects of bubble-wake interactions on the macroscopic behavior of
freely bubbling fluidized beds have been investigated with the DBM. It
has been found that bubble coalescence and macro-scale solids circu-
lation is strongly enhanced when single or multiple binary bubble-wake
interactions are accounted for. It has been demonstrated that bubble-
wake interactions with all leading bubbles should be taken into con-
sideration (and not just the nearest leading bubble), to avoid missing
important bubble-wake interactions in case the nearest leading bubble
is a small bubble, while a much larger bubble is very near. Further
model development on the bubble-bubble interactions taking multiple
leading bubbles into account and more detailed experimental work to
validate the DBM is required and ongoing.
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Appendix 5.1: Verification of the wake acceleration

To verify the implementation of the wake acceleration model, a DBM
simulation with three bubbles, which were not vertically aligned, has
been performed in which the flow field was set to zero. In addition, the
velocity and position of the three bubbles was determined analytically.
The initial position and radius of the three bubbles are given in Table
5.4. To compare the analytical calculations and the DBM results, the

Table 5.4: Settings for the verification of the wake model

Parameter Value
X-position [m] 0.50, 0.50, 0.50
y-position [m] 0.50, 0.54, 0.51
z-position [m] 0.48, 0.37, 0.26
Bubble radius [m] 0.04, 0.04, 0.04
Column dimensions [m] 1.00, 1.00, 1.00
Time-step bubble solver [s] | 1.0x107*

y- and z-positions of the three bubbles are presented in Figure 5.7. For
the top bubble only the z-position in Figure 5.7a is given because the
y-position did not vary during the simulation except when the top two
bubbles merged. It can be seen that after approximately 0.3 s the top
and the middle bubble coalesce and the top bubble is repositioned to the
center of mass of the two bubbles. In Figures 5.7b and 5.7c the y- and
z-position of the middle bubble is given. The bubble positions calculated
by the DBM correspond perfectly with the analytically calculated bub-
ble positions. Finally, in Figures 5.7d and 5.7e the y- and z-position of
the bottom bubble is given. The y-direction of the bottom bubble is first
mainly influenced by the middle bubble. When the top two bubbles are
merged, the y-movement of the bubble is influenced by the merged bub-
ble. Again, the movement of the bottom bubble calculated by the DBM
could be perfectly reproduced with the analytically calculated bubble
positions. Note that when the bubble diameter is the same for all bub-
bles, and no wake acceleration was implemented, the bubbles would not
have merged or been drawn together.
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Figure 5.7: Comparison between the computed y- and z-positions of the
three bubbles used to verify the wake acceleration model in the DBM, (a)
z-position vs. time of the top bubble; (b) y-position vs. time of the middle
bubble; (c) z-position vs. time of the middle bubble; (d) y-position vs.
time of the bottom bubble; (e) z-position vs. time of the bottom bubble.
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Epilogue

In this thesis the hydrodynamics of a bubbling gas-solid fluidized bed
have been investigated. The novel approach is that characteristics of the
bubble and emulsion phases were investigated simultaneously, which is
required because of the influence of the bubble phase on the emulsion
phase and vice versa. Using a novel approach (PIV/DIA) to measure
non-intrusively both the instantaneous whole-field particle velocity pro-
files and the bubble properties simultaneously in a pseudo 2D-fluidized
bed, filled with either LLDPE particles or glass beads with approxi-
mately the same minimum fluidization velocity, it was found that the
bubbles grow to a larger size in the fluidized bed with LLPDE particles.
However, the averaged bubble rise velocity as function of the equivalent
bubble diameter was for both powders approximately the same. In
correspondence to the larger bubble size, the time-averaged emulsion
phase velocity circulation patterns were more pronounced in the bed
containing the polymer particles. Furthermore, the visual bubble flow
rate as function of the height was different for both powders, however,
in agreement with results found in literature. In the currently applied
DIA the porosity is cannot be measured and therefore the solids mass
flux cannot be determined. In order to measure the porosity distribution
in a pseudo-2D fluidized bed the DIA algorithm needs to be extended.
Several authors have already measured the local porosity and therefore
mass flux of the solids phase in the pseudo-2D fluidized beds, however
these fluidized beds were filled with larger glass beads (particle diameter
of 1.5 mm).
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EPILOGUE

Subsequently the influence of the microscopic particle properties
on the macroscopic circulation patterns and bubble properties was
investigated using numerical (CFD) models. It was shown that the
particle friction coefficient has a large influence on the hydrodynamics
in a fluidized bed. From the minimum fluidization velocity to the size
and shape of the bubbles and the axial solids velocity distribution in the
lateral direction were studied. The influence of the restitution coefficient
in the normal and tangential direction was found to be less pronounced
than the influence of the particle friction coefficient. To simulate the
LLDPE particles properly, the collisional properties of the LLDPE par-
ticles have to be measured. Especially the particle friction coefficient
between particles and particles and the wall needs to be determined.
In addition, the collisional model in the TFM with the Kinetic Theory of
Granular Flow has to be extended in such a way that friction between
particles and between particle and wall is taken into account.

To obtain information about the hydrodynamics in a 3D-fluidized
bed, dedicated PEPT measurements have been performed. At lower
superficial gas velocities, four distinct vortices appeared. When the
superficial gas velocity was increased, the lower vortices reduced in size
and finally were completely consumed by the top vortices. When LLDPE
particles are used, this superficial gas velocity is lower than when glass
beads are used. In addition, the time-averaged emulsion phase velocity
of the LLDPE particles is higher at the same uo/u,s compared to the
glass beads. When using PEPT, no direct information about the bubble
phase is obtained. Some authors have used the upward “jump” of the
tracer particle during the PEPT measurements to derive the averaged
bubble rise velocity. However this gives no information about the bub-
ble size and bubble frequency during the experiments. Therefore, to
measure bubble properties in a 3D-fluidized bed, dedicated tomography
experiments should be performed, for example Electrical Capacitance
Tomography (ECT) or X-ray tomography.

The hydrodynamic behavior of industrial scale bubbling fluidized bed
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reactors was investigated using the Discrete Bubble Model. In the DBM,
an Euler-Lagrange model, the effects of bubble-bubble interactions on
the macro-scale velocity profiles were investigated. It was found that the
extent of the macroscopic circulation and the average bubble diameter
as function of the height in the fluidized bed is significantly increased by
the bubble-bubble interaction forces. Using dedicated DIA experiments,
the bubble-bubble interaction model can be further investigated and
validated. When the DBM is extended to cylindrical geometrics, the DBM
model can be further validated with the results obtained in the PEPT
experiments described in chapter 4 of this thesis. An elegant way to
simulate cylindrical fluidized beds with the DBM is via an immersed
boundary technique, with which the advantages of using Cartesian grids
to solve the Navier-Stokes equations can be preserved.
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Nomenclature

Symbols

Ap Catchment area m2

Ap Bubble aspect ratio -

AF Wake acceleration factor -

Ay Cross-sectional area of bed m?

¢ Particle velocity after collision m.s~!

c Interaction coefficient -

C Constant -
Fluctuating component of the particle veloc- m.s™!
ity

D Distribution function -

Dt Diameter fluidized bed m

d Diameter m
Bubble span m
Energy J

e Coefficient of restitution -

F Force N
Constant N.m™2

g Gravitational acceleration m.s™2

textrmgo Radial distribution function -

h Height m

I Image intensity -
Unit tensor -
Moment of inertia kg.m?

k Spring stiffness N
Unit vector along the line of centers at colli- -
sion
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Symbols

SR 2™ T I ZI T

wn

NS

*

=

Ntxqu <}§

172

Magnification

Mass

Number

Normal unit vector

Width of distribution window
Pressure

Pressure

Pseudo-Fourier fluctuating kinetic energy
flux

Cross-covariance

Radius

Position

Constant

Surface

Source term

Bubble surface in pseudo 2D bed
Size factor

Displacement of the particles
Constant

Threshold

Torque

Time

Depth

Tangential unit vector
Superficial gas velocity
Continuum velocity

Bubble rise velocity

Filtered velocity

Superficial gas velocity
Volume

Velocity

Bubble rise velocity with wake acceleration
Work

X-position

y-position

z-position

-1
-1
-1
-1
-1

m.s
m.s
m.s
m.s
m.s

-1
-1

ssssss
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Greek symbols

[24

Mt " O™
* =

~

QD

<8 s

Subscripts
ab

BB

b

bed

c

cell

conv

D

Specularity coefficient

Inter-phase momentum transfer coefficient
Overlap

Distance between two consecutive bubbles
Porosity

Averaged emulsion phase fraction
Dissipation of granular energy due to in-
elastic particle-particle collisions

Damping coefficient

Internal angle of friction

Sphericity

Pseudo-thermal conductivity

Bulk viscosity

Coefficient of friction

Shear viscosity

Observed bubble flow rate

Granular temperature

Density

Deviation

Stress tensor

Angular velocity

Scale factor

Visual bubble flow rate

Constant

indices of colliding particle pair
bubble-bubble

bubble

bed

critical

computational cell

convection

drag

—3‘5—1

||§§O§AI
3

kg.m™1.s73
Ns.m™1
rad

-1 o-1

kg.m
Pa.s

S

Pa.s
m3.s7!
kg.m?.s72
kg.m

Pa
rad.s™
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NOMENCLATURE

Subscripts
af

dn
drag
dt

e

eff
f

gran
ke
kin

mf

pres

pix
pot
rest
rot

sn
sph
st

N =R
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dense phase

energy dissipated by the friction between particles
energy dissipated by the normal dashpot
drag

energy dissipated by the tangential dashpot
emulsion

effective

image number

frictional

gravitational

gas

granular

kinetic and collisional

kinetic

minimum fluidization

normal direction

nozzles

pressure

pressure

particle

pixel

potential

restitution

rotational

solid

potential energy of the normal spring
sphere

potential energy of the tangential spring
tangential direction

total

virtual mass

X-position

y-position

z-position
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