EINDHOVEN
e UNIVERSITY OF
TECHNOLOGY

One-step CO2 hydrogenation to dimethyl ether via packed
bed membrane reactors

Citation for published version (APA):

Poto, S. (2023). One-step COZ2 hydrogenation to dimethyl ether via packed bed membrane reactors. [Phd Thesis
1 (Research TU/e / Graduation TU/e), Chemical Engineering and Chemistry]. Eindhoven University of
Technology.

Document status and date:
Published: 02/06/2023

Document Version:
Publisher's PDF, also known as Version of Record (includes final page, issue and volume numbers)

Please check the document version of this publication:

* A submitted manuscript is the version of the article upon submission and before peer-review. There can be
important differences between the submitted version and the official published version of record. People
interested in the research are advised to contact the author for the final version of the publication, or visit the
DOl to the publisher's website.

* The final author version and the galley proof are versions of the publication after peer review.

* The final published version features the final layout of the paper including the volume, issue and page
numbers.

Link to publication

General rights
Copyright and moral rights for the publications made accessible in the public portal are retained by the authors and/or other copyright owners
and it is a condition of accessing publications that users recognise and abide by the legal requirements associated with these rights.

» Users may download and print one copy of any publication from the public portal for the purpose of private study or research.
* You may not further distribute the material or use it for any profit-making activity or commercial gain
* You may freely distribute the URL identifying the publication in the public portal.

If the publication is distributed under the terms of Article 25fa of the Dutch Copyright Act, indicated by the “Taverne” license above, please
follow below link for the End User Agreement:
www.tue.nl/taverne

Take down policy
If you believe that this document breaches copyright please contact us at:

openaccess@tue.nl
providing details and we will investigate your claim.

Download date: 08. Feb. 2024


https://research.tue.nl/en/publications/d05de598-446b-4a95-808b-1b21cd079f00

One-step CO, hydrogenation to
dimethyl ether via packed bed
membrane reactors







One-step CO; hydrogenation to
dimethyl ether via packed bed
membrane reactors

PROEFSCHRIFT

ter verkrijging van de graad van doctor aan de Technische
Universiteit Eindhoven, op gezag van de rector magnificus
prof.dr. S.K. Lenaerts, voor een commissie aangewezen door het

College voor Promoties, in het openbaar te verdedigen op vrijdag
2 Juni 2023 om 13:30 uur

door

Serena Poto
Geboren te Battipaglia, Italié



Dit proefschrift is goedgekeurd door de promotoren en de samenstelling van de
promotiecommissie is als volgt:

Voorzitter: prof.dr.ir. J.A.M. Kuipers
1¢ promotor: prof.dr. F. Gallucci
Copromotor: dr. M.F. Neira d’Angelo
Leden: prof.dr.ir J. van der Schaaf

prof.dr. Z. Tomovi¢
prof.dr. A. Urakawa (Technische Universiteit Delft)

prof.dr. M. De Falco (Universita Campus Bio-Medico,
Roma)

Adviseut: dr. M.A. Llosa Tanco (Tecnalia Research and Innovation)

Het onderzocek of ontwerp dat in dit proefschrift wordt beschreven is uitgevoerd in
overeenstemming met de TU/e Gedragscode Wetenschapsbeoefening.



To my family
To Fabio



The research described in this thesis has been carried out in the framework of the
European project C2Fuel. This project has received funding from the European Union’s
Horizon 2020 research and innovation program under grant agreement No 838014.

J
C2FUEL

Copyright © 2023 by Serena Poto, Eindhoven, The Netherlands.

All rights reserved. No part of the material protected by this copyright notice may
be reproduced or utilized in any form or by any means, electronic or mechanical,
including photocopying, recording or by any information storage and retrieval
system, without the prior permission of the author.

A catalogue record is available from the Eindhoven University of Technology Library.

ISBN: 978-90-386-5736-3

Cover design by Serena Poto
Printed by Proefschriftspecialist



CONTENTS

List Of ADDIEVIAtIONS.......vuivieiiieiiiiiiicirici s
SUMMAL ..ttt es xiii
CHAPTER 1: General INtroduCtON ......c.veevieeurieiricirecirieirecreereeeseeeseeenseee s xvi
1.1 COz emissions and mMitigation StrAtEZIES.......oueuveuerriucrrieemricmrierrienriseneaenne 17
1.2 Dimethyl ether synthesis as CCU pathway .......ccccccovviviiviniiciicinns 20
1.3 Enhancement of CO; conversion to DME in membrane reactors ........ 24
1.4 Membrane materials for water separation in membrane reactors............ 26
1.5 Thesis OULlINE .....cucuiiiiiciiic s 29
REfEIENCES w.vuviriitiiictct e 31
CHAPTER 2: Direct conversion of CO; to dimethyl ethet in a packed bed
membrane reactor: influence of membrane properties and process conditions .....43
2.1 INEEOAUCHON ettt 44
2.2 Reactor configuration and modeling........c.occveeerecuricireerrienreenneenreennenes 45
2.3 Simulation results and diSCUSSION.......cccuriueirieeirieciriciicicrere e 53
2.4 CONCIUSIONS ..t 64
REfEIENCES w.ouviieitiicictt e 70

CHAPTER 3: Vapor/gas separation thtough carbon molecular sieve membranes

(CMSM). Part I: boehmite-phenolic resin with improved hydrophilicity................. 77
3.1 TNtOAUCHON wevvireiieier sttt 78
3.2 EXperimental......cciiiiicc e 80
3.3 Theory of water transport through CMSM..........cccocoeuvivunicnicinicinicnncnen 84
3.4 Results and diSCUSSION wuvvvriniueieirinircieieiriceieisieeiestneeietetseseseietstsesenesessenenes 87
3.5 CONCIUSIONS «.vreerririaciereiieicrereee st sesee st sessesesesessesescaesenencecs 100
RELCIEIICES vttt ettt ettt 110

CHAPTER 4: Vapor/gas separation thtough carbon molecular sieve membranes

(CMSM). Part II: effect of the carbonization temperature ..........cooceuvceeviecuriecuninnnn. 113
4.1 INTEOAUCTON 1ottt 114
4.2 EXPerimMental. ... 115
4.3 Results and diSCUSSION ..eueuevririieeieiriieieirirceiereeieteseeieis e seeeaes 118
4.4 CONCIUSIONS .ottt s et sesseseaesensesencs 137

RELEIEIICES vttt ettt et e st et et eaesteesesaeereenenns 144



CHAPTER 5: Experimemtal investigation of a packed bed membrane reactor for

the direct conversion of COz to dimethyl ether ......cvveuveernecnicnicincrcriceennes 147
5.1 INtOAUCHON .t 148
52 Experimental.....ciiic s 150
53 MOAEHNG ..ot 157
5.4 Results and diSCUSSION cueuvvrireeieeieiriiicieinircieierecieieireseeie ettt ienes 157
55 CONCIUSIONS wecvveviiieieeieieiriiitititititerererere sttt sttt sasas 168
RELCIEIICES wenvrevrieieeretreteietecie ettt ettt et senes 176

CHAPTER 6: Evaluation of the relevant mass and heat trasnfer phenomena in a
packed bed membrane reactor for the direct conversion of COz to dimethyl ether

............................................................................................................................................ 179
6.1 INtrOdUCHON ..o s 180
6.2 Methodology and numerical implementation ........c..ccveeereerreerreenreennee 182
6.3 Heat and mass transfer phenomena at particle scale..........ccovucuverunaee. 184
6.4 Heat and mass transfer phenomena at the particle-fluid interphase.....190
6.5 1D packed bed reactor model: heterogeneous vs pseudo-homogeneous
model and deviation from plug flow behavior........cccocuvicivicivicinicinicinicinicines 193
6.6 1D pseudo-homogeneous packed bed membrane reactor model: effect of
diffusion limitations on a large scale PBR and PBMR..........cccccceuviiiniiinicinicnnes 198
6.7 2D pseudo-homogeneous packed bed membrane reactor model: effect of
concentration polarization PhenomMenNa........coceuvveeurieirieeirieinieinicesecseeeen 204
6.8 CONCIUSIONS ..t 212
REEIENEES vttt s 224

CHAPTER 7: Tecno-economic assessment of the one-step CO2 conversion to

dimethyl ether in 2 membrane-assisted PrOCESS........cvuueuviuririueinieeinicinieirieireesenennes 227
7.1 INtrodUCON ..o s 228
7.2 Methodology and asSUMPLONS .....c.c.eeeeeeerreeerrieemnivemreenreenseeesseeenseeenseeenns 229
7.3 Results of process MOdeling..........ccvveuiiirieniiiniiiriiriceeeeeens 237
7.4 Technical aNAlYSIS ...c.cucvviiiiiiiiic s 247
7.5 Economic analysiS ... ensesesesenenses 251
7.6 Forecasting and sensitivity analysis........cccoeveirieiricinieinicinicinieneenenes 253
7.7 CONCIUSIONS .. 263
REfEIENEES vttt e 283

CHAPTER 8: Conclusions and OUtIOOK .......coeeeeeivivieieicececeeeeeeeeeee e 287



8.1 (@003 a1l RT3 03 5 1IN OORR 287

8.2 Outlook and recommendation for future research.......ccoveevercurecrrence. 291
REfEIENCES w.vuviviitiiictt s 292
LiSt Of PUDLICALIONS w..uvueevriirieeieieieieeeieeieeeee e ssaes 293
JOULNAL ATTCLES oo 293
Journal Articles out of the scope of this thesis.......ccocuviciriciriciricnciricriee, 293
Oral PLESENLAtIONS ...ecvuviiiieieiiicii s 294
PoSter PIreSentations. ... 295
ACKNOWIEAGEMENES. ...ttt et eaeseeac 297

CUrtiCuIUM VIEAC....cuiuiuiieieiieieiciecitttt ettt ettt ettt eeaes 301






LIST OF ABBREVIATIONS

Abbreviation Definition

1D, 2D, 3D 1 dimensional, 2 dimensional, 3 dimensional

ACAPEX Annualized capital expenditure

AD Adsorption-diffusion

AE Alkaline electrolysis

Al-CMSM Alumina supported carbon molecular sieve membranes

BET Brunauer, Emmett and Teller (analysis)

BJH Barrett, Joyner and Halenda (analysis)

CAGR Compound annual growth rate

CAPEX Capital expenditure

CCS Carbon capture and storage

CCU Carbon capture and utilization

CE Chemical equipment (index)

CEM Controlled evaporation mixer

CGE Cold gas efficiency

CMR Carbon membrane reactor

CMSM (or CM) Carbon molecular sieve membrane (ot carbon
membrane)

CP Concentration polarization

CuZA Copper-zinc-alumina (catalyst)

CW Cooling water

DCFA (or DCF)
DME
DMFC
EUR
EXP.
FCI
FID
FTIR
GC
GHSV
HEN
HP

1C
ISBL
KPI

Discounted cash flow analysis (or discounted cash flow)
Dimethyl ether

Direct methanol fuel cell

Euro

Experimental

Fixed capital investment

Flame ionization detector

Fourier transform infrared (spectroscopy)
Gas chromatography

Gas houtly space velocity

Heat exchanger network

High pressure

Indirect cost

Inside battery limits

Key process indicator




KTA
LHV
LPG
MCU
MDSP
MeOH
MMT
MR
MS
MSW
MT ek
MTint
MTG
NG
NMP
OPEX
OSBL
PBMR
PBR
PEC
PEM
PFR
PV
rWGS
REN
SA
SEM
SEWGS
SMR
SOEC (or SOE)
SW
TAC
TCD
TGA (or GA)
TPD
TPR
ULEV
UusSD
WACC

Kilotons per annum (year)

Low heating value

Liquified petroleum gas

Multistage compression unit

Minimum dimethyl ether selling price
Methanol

Million metric tons

Membrane reactor

Molecular sieving

Municipal solid waste

External mass transfer

Internal mass transfer

Methanol to gasoline

Natural gas

N-methyl-2-pyrrolidone

Operational expenditure

Outside battery limits

Packed bed membrane reactor

Packed bed reactor

Purchase equipment cost (or photoelectrochemical)
Polymer electrolyte membrane (electrolysis)
Plug flow reactor

Pore volume

Reverse water gas shift

Renewable

Surface area

Scanning electron microscopy

Sorption enhanced water gas shift

Steam methane reforming

Solid oxide electrolyzer cell (or solid oxide electrolyzer)
Sweep gas ratio

Total annual cost

Thermal conductivity detector
Thermogravimetric analysis (or gravimetric analysis)
Temperature programmed desorption
Temperature programmed reduction
Ultra-low emission vehicles

US dollars

Weighted average cost of capital




wWC
WGS
WR
XPS
XRD

Working capital

Water gas shift

Water removal

X-ray photoelectron spectroscopy
X-ray diffraction (analysis)







SUMMARY

The growing concerns about CO; emissions and their effects on climate change have
driven the research agenda of the last decades in strive for more sustainable
processes.

The carbon capture and storage technology (CCS) has been recognized as one of the
most powerful short-term solutions to mitigate anthropogenic CO: emissions,
mostly coming from flue gases of fossil-based power and chemical plant. However,
the carbon capture and utilization approach (CCU) becomes even more attractive
when a long-term solution is desired. Furthermore, reconverting the collected CO»
to produce more valuable carbon-based products would significantly contribute to
reduce the use of conventional fossil-based feedstocks.

Among the different products that can be produced from COy, dimethyl ether
(DME) is very attractive. DME is a particularly clean fuel, which can replace LPG
or diesel without any (or limited) changes in the current engines. Currently, DME is
produced from fossil fuels via an energy intensive process: natural gas is first
converted into syngas (i.e., a mixture of Hz and CO) via steam reforming, followed
by the methanol synthesis and dehydration to DME. Thus, producing DME from
captured COz and renewable H» is not only a valid route for CO, valorisation and/or
H> storage, but also a way to render the process more sustainable.

Nevertheless, replacing the carbon source from CO to COz is not trivial and comes
with some challenges that needs to be tackled. One of the biggest challenges is the
strong thermodynamic limitation of the reaction system. Combining the methanol
synthesis and dehydration in a single reactor, in the so-called one-step — or direct —
route, is a first effective solution to improve reaction performance, based on the in-
situ consumption of methanol to form DME.

However, the main issues of these reactions derive from the high volume of water
produced, which contributes to pose even stronger thermodynamic limitations, as
well as to accelerate catalyst deactivation phenomena. As a result, this process could
enormously benefit from the in-situ removal of water from the reaction
environment, using the membrane reactor (MR) technology.

In this thesis, the use of the membrane reactor technology for the one-step CO»
hydrogenation to DME reaction is thoroughly studied under different perspectives,
ranging from the selection and development of the membrane materials, to the
experimental demonstration of the technology.

A general introduction to the topic is given in Chapter 1, which, after stressing on
the urgency of limiting CO» emissions as an essential step to tackle the climate crisis,

it provides an overview of the possible solutions which could be implemented in the

xiii



chemical and energy sectors. Thereafter, the synthesis of DME is presented as a
promising CO» utilization pathway. The benchmark DME production process is
first described to later highlight the main challenges which come with replacing the
carbon source with pure CO,. Finally, the membrane reactor technology is
described, together with an overview on the suitable membrane materials, with
particular focus on carbon molecular sieve membranes.

In Chapter 2, a one dimensional phenomenological membrane reactor model is
developed and used to determine the optimal membrane performance in terms of
water permeability and perm-selectivity, to shed light into suitable material as well as
to set a target for the membrane development. The cocurrent circulation of a sweep
gas stream containing the reactants (i.e., CO2 and Hy), is proposed as an effective
strategy to promote the selective water removal from the reaction environment,
lowering the membrane requirements in terms of perm-selectivity. Based on this
study, ceramic supported carbon molecular sieve membranes (CMSMs) are selected
as promising materials given their potential hydrophilicity and the possibility to tune
their properties, acting on different parameters of the synthesis procedure. Based on
the optimal membrane properties, the reactor model is used to study the effect of
different process conditions, such as the sweep gas flow and the gradient in total
pressure.

Chapter 3 and 4 focus on the study of phenolic resin CMSMs to promote the high
temperature (i.e., 150-250 °C) separation of HO vapor from (hydrogen-rich)
gaseous streams. First the incorporation of hydrophilic boehmite nanosheets (p-
AlO(OH)) in the polymeric resin as a way to improve the membrane hydrophilicity
is assessed in Chapter 3. The boehmite nanosheets were found to induce an
optimum in the hydrophilicity of the membranes as well as into the water
permeability and separation factors. The decrease observed both in the membrane
hydrophilicity and in the separation performance at larger content of boehmite is
linked to the gradual transformation of the boehmite nanosheets into a less
hydrophilic y-AbO3 and to the increase in the tortuosity of the porous structure. In
this chapter, the H2O permeation mechanism is further investigated by modeling the
mono- and multi- layer adsorption and capillary condensation of water in
microporous media, which result as the main transport mechanisms in the explored
conditions.

Further, in Chapter 4, the effect of the carbonization temperature on the vapor/gas
separation performance is studied, with particular focus on the water interaction
with the membrane surface. FTIR analysis is first used to determine the changes in
the surface functionality of the CMSM occurring during the carbonization step.
Then, the membrane interaction with water is assessed via in-situ FTIR analysis from
which it is clear that the membrane loses its hydrophilicity upon increasing the
carbonization temperature. The analysis of the permeation properties of these
membranes reveal that the trend induced by the carbonization temperature solely
depends on the differences in the pore size distribution. On the other hand, the
trend induced by the operating temperature depends on the dominant transport

xXiv



mechanism. Highest permeabilities were found for the membranes carbonized in
the range 600-700 °C, given the bi-modal nature of their pore size distribution,
combined with a large fraction of pores in the molecular sieve region.

In Chapter 5, an experimental proof-of-concept of the membrane reactor
technology is presented, which also allows for the validation of the previously
developed phenomenological reactor models. This result is of high relevance, since
the reactor models could be used for further optimization studies and to simulate
conditions which were not explored experimentally. Despite the permeance of the
CMSM used in this work not perfectly matching with the previously set target, the
packed bed membrane reactor (PBMR) outperforms the conventional packed bed
reactor (PBR) in most of the experimental conditions. Larger improvements were
found at low space velocities, due to the system approaching thermodynamic
equilibrium (i.e., larger water content). However, given the large extent of product
removal, at temperatures higher than 200 °C, the membrane reactor enhances the
formation of CO (ie., through r-WGS) more than DME. Finally, as predicted in
Chapter 1, the circulation of the sweep gas proved to be an effective way to promote
the removal of water from the reaction environment.

In Chapter 6, the membrane reactor is modeled under a multi-scale perspective with
a particular focus on the heat and mass transfer phenomena occurring at different
scales (i.e., from the particles, to the membrane and the reactor scale). Intra-particle
diffusion limitation and concentration polarization were found to have a significant
influence on the reactor performance when simulated at conditions/sizes which are
relevant to large scale operation. Given the complexity of the model obtained with
the incorporation of both these phenomena, short-cut methods are developed to
account for such effects, to be implemented in a simplified 1D pseudo-
homogeneous reactor model. The simplified model predicts with high accuracy the
simulation results of the more rigorous models, with maximum deviation below 5%,
in the range of conditions which are relevant to this process. Finally, a further
optimization of the reactors in terms of mass and composition of the catalyst bed is
proposed, based on the new findings.

Chapter 7 presents a techno-economic evaluation of the conventional and MR-
assisted CO»-to-DME process, in order to identify the economic bottlenecks of this
technology, as well as to make a realistic prediction about when this CO; utilization
route would become convenient at industrial scale. The MR-assisted plant was found
to requite less energy input to produce the same amount of DME and to convert
the feedstock (CO2+Hs) more effectively. Both processes are OPEX intensive, with
the largest impact given by the cost of Ha. Despite the MR-assisted process allows
for a considerable reduction in the production cost (i.e., 1.12 times lower), the
process is still not economically viable in the current DME market conditions. Yet,
the forecast analysis predicts that the MR-assisted system could become competitive
with the benchmark between 2025 to 2050.

XV



Finally, the main conclusions of this thesis and the research outlook are summarized
in Chapter 8.
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CHAPTER 1

General introduction

11 CO; EMISSIONS AND MITIGATION STRATEGIES

Nowadays, climate change is widely recognized as one of the biggest challenges of
our times, which needs to be tackled with undisputed urgency. Industrialization and
urbanization have led to an enormous increase in the anthropogenic CO; emissions
and thus the CO> concentration in the atmosphere, such that already in 1950, the
world emitted ca. 6 billion tons of CO2 [1]. Emissions have continued to grow
rapidly (Figure 1.1), achieving a value of 37 billion tons in 2021. Only in 2020, due
to the COVID-19 pandemic, the CO; emission levels decreased from 37 (in 2019)
to 35 billion tons, which underlines how crucial is the impact of human activities to
the carbon footprint, especially concerning the transportation sector, which was the
most affected by the lockdown measures adopted worldwide [2].
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Figure 1.1. Annual CO; emissions from fossil fuel and industry, worldwide (left side). The
dashed lines represent the predicted reduction in the CO; emissions required to keep the
average temperature rise below 1.5 °C or 2 °C. The increase in the average surface
temperature is reported on the right. Data retrieved from references [2], [3].

A drastic consequence of the anthropogenic CO; emissions is that the surface
temperature of out planet has risen of ca. 0.08 °C per decade since 1880 [3], such
that 2021 was the World’s 6t warmest year on record. This has led to significant
climate anomalies and events (i.e., increased number of storms, hurricanes, cyclones,
etc.) [4]. Climate change is a complex issue with the potential of harming human
health, the ecosystem, as well as the infrastructures and the production of food.
Thus, limiting the temperature rise below 1.5-2 °C compared to pre-industrial levels
(i.e., target of the Paris Agreement set in 2015) is crucial to mitigate the threats of
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CHAPTER 1

global warming [5]. From Figure 1.1 it is clear that to achieve this target, COz
emissions should decrease by more than 50% before 2050.

The combustion of fossil fuels is widely recognized as the main responsible of
carbon emissions. As a matter of fact, the energy sector (i.e., electricity, heat and
transport) covers ca. 73.2 % of the total emissions [1], [2]. In particulat, fossil-fuels
power plant contribute to 33-40 % of the global CO, emissions, with still a large
fraction of coal-fired plants [6]—[8]. In addition to the power and heat generation, a
considerable portion of carbon emissions derive from the natural gas sweetening,
H> and syngas production (i.e., reforming processes), iron and steel production and
from the manufacturing of limestone and cement. Thus, strategies are required to
mitigate carbon emissions, especially in these sectors.

Amongst the different strategies proposed so far, the carbon capture and storage
(CCS) has emerged as a short-term solution to minimize the environmental impact
derived from the currently inevitable use of fossil fuels, especially in industrial heat
and power generation processes [9]. Several technologies have been already
developed for the CO: capture, such as adsorption, absorption, membrane
separation and cryogenic distillation [10]. The choice for a specific capture
technology lies not only on its cost, but, most importantly, on the characteristic of
the CO:z containing stream, such as the partial pressure of CO», the size of the stream
itself and the type of impurities [11]. After its captute and purification, COz is then
compressed to either liquid or supercritical conditions, depending on the selected
storage solution. For example, to safely and permanently store CO: in geological
sites, supercritical conditions and 20 bar overpressure for the injection are required
[12]. Thereafter, CO> is transported via trucks, ships, or through pipelines, to be
finally stored in different locations such as under the ocean, in geological formation
ot in depleted natural gas/oil reservoirs.

Nevertheless, recently there has been quite some concerns regarding the CCS
pathway, mainly related to its safety and feasibility. Indeed, especially when COz is
stored in geological reservoirs, there might be the risk of leakage in the atmosphere,
as well as blowouts. In addition, ground movements could compromise the storage
and increase the risk of earthquakes [13]. Thus, the carbon capture and utilization
(CCU) approach has been identified as a long-term solution, even more attractive
than the CCS option. The simplest CCU pathway consists of the direct (i.e., physical)
use of COy, as for example in the production of carbonated soft drinks, dry ice or
its direct use as a fire extinguisher, as a solvent for supercritical separation processes
or for the enhanced oil recovery [14]—[16]. However, with these methods, the overall
reduction of COz emissions is very limited. On the contrary, processing (i.e., via
chemical transformation) the captured CO2 to obtain more valuable products would
allow, at the same time, to synthesize carbon-based products (e.g., methane,
methanol, olefins), reducing our dependency on fossil fuels [17]—[20].

There are already several CO2 conversion technologies under investigation, with
urea and methanol synthesis being the technologies with the highest readiness level
[21]. Urea 1s mainly used to produce fertilizers or for polymer synthesis (i.e., urea-
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1. General Introduction

formaldehyde resins). In 2021, ca. 178 MMT of urea were produced worldwide and
its demand is expected to increase by 0.8% between 2023 and 2028 [22]. Nowadays,
Stamicarbon and Saipem represents the largest market shares of the urea technology,
based on the reaction of CO2 and ammonia [23], [24]. The methanol synthesis using
COz and renewable H» has been recently implemented at commercial scale. Carbon
Recycling International (CRI) has first demonstrated the CO»-to-methanol
technology at pilot scale in Iceland and last yeat, the first commercial-scale plant, as
well as the world’s largest one, has started production in Anyang, Henan Province,
China, with a capacity of 110°000 tons of methanol per year [25]. Methanol is a very
important building block for the chemical industry. On average, ca. 110 million
metric tons of methanol are produced worldwide each year and about 35%, 19%
and 10% of it is used to produce formaldehyde, MTBE and acetic acid, respectively
[26]. Furthermore, methanol has large potential to replace transportation fuel, which
makes its synthesis from COz and H: (i.e., no fossil fuel based) much more attractive.
Indeed, methanol can be converted to gasoline (MTG) or to dimethyl ether (DME),
which can be directly used as transportation fuels. Alternatively, methanol can be
directly converted in fuel cells (DMFC) [27]—[29]. Besides its direct uses as chemical
intermediate or as a fuel, methanol has been recently identified as an attractive Ha
carrier, with a hydrogen mass density of 12.5%, which makes it the second option
soon after ammonia (i.e., hydrogen mass density of 17.6%) [30].

Besides the abovementioned technologies, there are several possibilities for CO2
chemical conversion. Three main categories can be identified: 1) CO; utilization as
soft oxidant (i.e., for oxidative dehydrogenation processes); 2) CO» transformation
into carbonates and 3) CO» reduction with Ha (i.e., synthesis of CHs, methanol,
dimethyl ether, formic acid, etc.) [31]. The last category is the most attractive since,
a variety of hydrocarbons can be synthesized via the combination of COz and Ha,
allowing to replace conventional fossil fuel feedstocks. As a matter of fact, although
with some challenges, CO2 and H can replace or even be converted into syngas (i.e.,
reverse water gas shift reaction). Of course, to dismantle the fossil fuel economy,
the required H> must be produced from renewable resources (i.e., green hydrogen),
rather than via conventional methods (i.e., steam reforming of hydrocarbons). Green
hydrogen could be produced from biomass, via thermochemical or biological
processes [32]. Nevertheless, the most promising approach is the water splitting
using electrolysis, thermolysis or photo-electrolysis [33]—[35]. In this way, the power
surplus generated by discontinuous renewable energy sources (ie., wind, solar,
hydroelectric etc.), can be converted in a stable form of chemical energy, such as H
[36]. However, its low volumetric energy density makes H» storage and transport
challenging as well as expensive, such that the scientific community has been
focusing on studying efficient routes to convert H» in dense energy carriers [37].

Thus, combining green H» with the captured CO: is a crucial strategy for the
decarbonization of the energy and chemical industry for at least two purposes: 1) to
produce hydrocarbons with high gravimetric H> density, to safely transport the Ha
and to produce it on demand for its use in fuel cells; 2) to produce alternative and
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CHAPTER 1

green fuels (i.e., methanol, dimethyl ether, gasoline, etc.), which can be directly used
as energy sources, mainly in the transportation sector.

Therefore, CCU to chemicals and fuels is seen as a fundamental piece of the energy
and material transition to a fossil-free economy. However, as long as the captured
COz has fossil origin, the final CO» emissions (i.e., after a fuel is burnt) may be
considered as delayed (thus not entirely mitigated) emissions. Nevertheless, upon
gradual implementation of these and other renewable technologies, all captured CO»
will no longer trace back to a fossil origin.

1.2 DIMETHYL ETHER SYNTHESIS AS CCU PATHWAY

Among the large variety of products which can be obtained via CO; hydrogenation
processes, dimethyl ether (DME) is particularly attractive. DME global market was
valued around 4363.9 million USD in 2021 and is expected to achieve 8755.17
million USD in 2028 (i.e., CAGR of 10.5%) [38]. DME is conventionally used as
propellant for aerosol spray (ca. 8% of global production), as refrigerant and as
chemical feedstock (i.e., production of dimethyl sulfate, acetic acid, etc.). However,
given its similarities to the liquefied petroleum gas (LPG), especially in terms of
handling characteristics, the biggest market share consists in its use as LPG blending.
Particularly, DME can be used to reduce the LPG demand especially for domestic
scopes, for which it was proved that mixtures containing 15-50 vol. % of DME
perform better than pure DME [39], [40]. In addition, DME has been identified as
a high-efficiency compression ignition fuel, due to its autoignition properties, high
cetane number (i.e., 60), low boiling point (i.e., -24.8 °C), and the lack of C-C bonds
[41]—[44]. It is one of the simplest aliphatic ether, with low environmental impact,
producing only CO; and H>O upon its decomposition. All these features make
DME an attractive alternative to diesel, as transportation fuel, requiring any (or
limited) changes in the existing engines [41], [45]. With a propetly designed injection
system, NOy emissions can achieve ultra-low emission vehicle (ULEV) limits [40].
Furthermore, DME has proved to have excellent properties as gas turbine fuel, with
emissions comparable to the natural gas, although with ca. 8% lower CO> [47].

1.2.1  Benchmark production routes

Currently, the synthesis of DME can proceed via two routes (Figure 1.2). First, the
indirect route is based on the initial conversion of syngas to methanol as intermediate
product, and its subsequent dehydration to DME. The second route is the direct
synthesis of DME from syngas in a single reactor, using bifunctional catalysts. Both
routes are currently operated in industry: Haldor Topsoe, Air Products, Korea Gas
Corporation, JFE Holdings and NKK own the direct (or one-step) synthesis
technology, while Lurgi, Toyo, MGC and Udhe produce DME via the indirect
pathway [48]. The main advantage of the indirect synthesis method is the possibility
to sepatately optimize reaction conditions for either methanol synthesis and
dehydration. Furthermore, the indirect route allows to set a different scale for the
methanol synthesis and dehydration reactor steps, to meet the different market
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demands of methanol and DME. Nevertheless, it is well known that the methanol
synthesis is a thermodynamically limited process [49]. Therefore, the immediate
consumption of methanol to form DME in the direct route has the beneficial effect
of shifting the equilibrium towards higher conversions. Thus, the direct route has
the advantage of a more efficient conversion, coupled with a more compact design
(i.e., one reaction step rather than two) and lower energy demands in terms of
recirculation of the unconverted feedstock [50], [51].

1. INDIRECT DME SYNTHESIS

Syngas recycle Methanol recycle
Syngas Methanol Methanol Methanol DME
—> —>1 —> DME
(co, Hz, CO2) synthesis purification l dehydration purification
Methanol

2. DIRECT DME SYNTHESIS

Syngas recycle

Syngas DME DME
(o, Hz, CO2) synthesis purification DME

Methanol

Figure 1.2. Schematic representation of the DME synthesis via the indirect and direct
method

The feedstock for the methanol — and, as a consequence, DME — benchmark
production is syngas, which is in turn a product of either steam reforming of natural
gas, or gasification of crude oil, coal, or more rarely biomass and municipal solid
waste (MSW) [52], [53]. As a result, the benchmark DME process is mostly fossil-
based, with a CO» footprint in the range of 89-98 gCO2/M]pwme [54]-[50].

1.2.2  Direct (one-step) conversion of CO; to Dimethyl Ether

Given the considerably large CO: footprint of the DME synthesis via the benchmark
process, producing DME from captured CO» and renewable H is not only a valid
COz valorization route, but also a way to render the process more sustainable [57].
Furthermore, in view of its potential to replace diesel in compression-ignition
engines, the DME produced via CO: hydrogenation would definitely play a
significant role in the circular carbon economy as well as to reduce our dependency
on fossil fuels for transportation purposes.

Due to the higher efficiency of the direct route, this work focuses on the COz direct
(or one-step) hydrogenation to DME, which can be summarized by the following
reaction scheme:
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CHAPTER 1

CO; hydrogenation: CO; +3H, 2 CH;0H + H;O  AHyp=-49.5k]/mol (1)
Reverse water gas shift: ~ CO» + Hy, 2 CO + H,O AHy = +41.2kJ/mol  (2)
CO hydrogenation: CO + 2H, 2 CH;0OH AHp =-90.5kJ/mol  (3)

Methanol debydration: ~ 2CH;OH 2 CH;0CH; + HoO  AHo = -23.4kJ/mol  (4)

The synthesis of methanol (1-3) is typically carried out over a Cu-ZnO-ALOs3 catalyst
[58]—[60], which also activates the water gas shift reaction (2) [61], [62]. Indeed,
among reaction 1 to 3, the CO; hydrogenation to methanol is the most desired.
Inevitably, the reverse water gas shift (--WGS) takes place in parallel, accelerating
the H» depletion and, at the same time, contributing to the production of water. As
a matter of fact, water is the main reaction by-product, which limits the system
thermodynamically and causes catalyst deactivation [63]. Depending on the catalyst,
the CO hydrogenation to methanol (3) could take place simultaneously, pattially
balancing the negative effect of the r-WGS. Thus, although two reactions are
sufficient to thermodynamically describe the methanol synthesis, CO2 and CO
hydrogenation should both be accounted for, since they were both proved to affect
the methanol production rate [64]—[606].

Since the benchmark technology involves only traces of COz in the feedstock [67],
the corresponding catalyst (Cu-ZnO-ALOs3), although sufficiently active, is not
necessarily optimal when using pure COp, ic., a thermodynamically very stable
molecule, as the sole carbon source [68], [69]. Over the years, researchers have
proposed a variety of different catalysts for the CO, hydrogenation to methanol,
with particular focus on Cu-based systems, in combination with different metal
oxides as cartier and/or promoters [70]—[73]. First, important research efforts aimed
at replacing the hydrophilic AlLOs support, which could deactivate in presence of
the large amounts of water produced in all the reactions [74]. In most of the catalyst
formulations, the ZnO oxide still acts as main promoter, since it guarantees both a
higher Cu dispersion and the formation of Cu®" sites at the Cu-ZnO interface [75]—
[77]. Nevertheless, various catriers/promoters have been proposed in literature such
as ZrO; [68], [77]-[81], CeO2 [74], [82]—[86], Fe2Os [86]—[88], SiO2 [89]—[91], and
TiO2[82] [92]—[95]. On the other hand, the methanol dehydration (4) is catalyzed by
acid catalysts, such as p-ALO3; or HZSM-5 [96]—[98]. However, several works have
proved that the p-AbOsj suffers from strong and fast deactivation with high
concentration of water in the reaction medium. Indeed, the selectivity to DME
drastically decreases when the CO> content in the syngas feed is increased [99]. More
recently, several acid catalysts, especially zeolites with different dimensional
framework (e.g., FER, MOR, MFI) and Si:Al ratios have been proposed for the
methanol dehydration to DME, where the balance between Bronsted and Lewis acid
sites is carefully tuned to selectively dehydrate methanol to DME. The main
drawback of these catalysts is their strong hydrophilicity, and consequent
deactivation due to strong water adsorption on the acid sites [100]-[102]. When
DME is synthesized via the direct route, the two catalysts are physically mixed to
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form a bifunctional catalyst [98], [103], although hybrid catalyst formulations have
recently received considerable attention [102], [104], [105].

Besides the kinetic considerations, the process has important thermodynamic
constraints and recycling of the unconverted CO; and Ha stream is essential at
process scale, given that the one-pass COz conversion is often below 50% (Figure
1.3a). Although the overall process is exothermic, this complex reaction network
combines exothermic and endothermic reactions, so the COz equilibrium
conversion (Figure 1.3a) is a non-monotonic function with temperature. Indeed, at
lower temperatures, the exothermic reaction is enhanced, and the equilibrium
conversion decreases with temperature. As temperature increases, the endothermic
t-WGS reaction is enhanced and the conversion increases, in favor of the CO
formation. As a matter of fact, low temperatures thermodynamically favor DME
formation (Figure 1.3b), which means that DME selectivity drops as temperature
increases. Furthermore, given the stoichiometry of the reactions, high pressures
enhance methanol, and thus DME formation.

Thus, process-wise, the selection of the total pressure lies on a trade-off between
one-pass conversion, which directly affect recycling and separation costs, and cost
of feedstock conditioning. The temperature is instead optimized based on a trade-
off between catalyst mass and DME selectivity, considering that a temperature of at
least 200 °C is required for catalytic activity. Nevertheless, given the exothermicity
of the system, a proper heat management strategy is crucial to prevent hotspots and
the consequent conversion losses.
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Figure 1.3. Equilibrium CO> conversion (a) and DME yield (b) ad a function of temperature

and pressure for a Hx:CO; molar feed ratio of 3. Data obtained via Aspen Plus V11
simulations using RGibbs block and Peng-Robinson equation of state.

The most common reactor configuration, as well as the technology currently used
at industrial scale, is the fixed (or packed) bed reactor [48], [106], [107]. This type of
reactor is usually much simpler and less expensive than other technologies.
However, a proper heat management solution is required to prevent the formation
of hot spots and to avoid catalyst sintering. The temperature profile in the reactor
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can be optimized by feeding a cold fluid in either a cooling jacket or in the mantle
of a multi-tubular packed bed reactor. Another possibility is feeding the cold syngas
(or CO2-Hy) in different locations along the reactor or implementing the
configuration of multistage (intercooled) adiabatic packed bed reactors. Slurry
bubble columns have also been used for the direct synthesis of DME [108], [109].
Nevertheless, the mass transfer of the syngas from the bubble (gas) phase to the
solvent were the catalyst is dispersed usually limits the overall DME formation rate,
making the reaction less efficient [110]. Finally, fluidized bed reactors with enhanced
heat and mass transfer, have been investigated, mainly from a theoretical perspective,
but their feasibility at large scale has not yet been assessed [111], [112].

1.3 ENHANCEMENT OF CO; CONVERSION TO DME IN MEMBRANE
REACTORS

Besides the optimization of reaction conditions, another strategy to improve the
CO»-to-DME process and to overcome thermodynamic limitations is the in-situ
removal of the large amount of water produced in all individual reactions [113]—
[118]. Indeed, removing one or more by-product — in this case water — from a
reaction environment with thermodynamic limitations, allow to boost the
production of the targeted product (e Chatelier principle).

The in-situ removal of water to improve DME production is even more important
in the direct hydrogenation of CO: than in the benchmark process starting from
syngas. As a matter of fact, when CO is the main carbon source for the
methanol/DME synthesis, the r-WGS (2) occurs in the opposite direction (i.e.,
WGS), partially consuming the water produced by the CO» hydrogenation (1) and
methanol dehydration reactions (4). This indicates that, as soon as CO is replaced
with CO», larger amount of water is produced, leading to more severe
thermodynamic limitations and to catalyst stability issues. Indeed, water accelerates
both Cu and ZnO crystallization, and it affects the acidity of the zeolite within long-
term operation, favoring the dealumination (i.e., changes in the Si:Al ratio) [119],
[120]. As a result, the CO2-to-DME becomes much more challenging and requires
a dedicated attention.

A promising technology for the in-situ removal of water is a membrane reactor
(MR), where reaction and product separation are coupled in a single unit. The
incorporation of membranes in a conventional reactor allows not only to overcome
thermodynamic limitations, but often to reduce separation costs, given that the
separation of product or by-products takes place already at the reactor stage.
Furthermore, given the higher efficiency in the conversion, usually membrane
reactors lead to a more compact reactor design, often reducing also its cost [121],

[122].

In most of the applications, the membrane material implemented in the reactor is
inert with respect to the reaction system. Thus, the membrane has the sole scope of
separating reaction products, without taking part in the reaction itself. However,
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more recently, catalytic membrane reactor applications, also for the synthesis of
DME, are receiving some attention [123], [124], although they may be limited in the
amount of catalyst loading.

Given that the preferred reactor configuration for the methanol/DME synthesis is
a packed bed reactor [48], two membrane reactor configurations can be identified
(Figure 1.4), depending on whether the membrane is implemented inside
(configuration A) or outside (configuration B) the catalytic bed. Although
configuration B is less invasive and does not introduce nuisance in the gas flow
pattern in the catalytic bed, configuration A is preferred for at least two reasons: 1)
the membrane selective layer is placed in the center of the catalytic bed, where usually
product concentration — thus water — is higher; 2) the membrane aspect ratio can be
more easily tuned, being decoupled from the characteristic sizes of the catalytic bed.
As a result, the gas contact time with the membrane and catalyst can be
independently optimized. As a matter of fact, when configuration A is selected, the
membrane area can be optimized based on multiple parameters, such as number of
membranes, length and diameter of each membrane. Thus, for industrial
applications, a multi-tubular packed bed membrane reactor can be implemented, as
sketched in Figure 1.5.

Configuration A Configuration B

3 Reactor walls
Catalytic bed
1 Membrane
—> Flux of H,0

Figure 1.4. Packed bed membrane reactor configurations: in configuration A, the membrane
is inside the catalytic bed; in configuration B, the membrane is outside the catalytic bed.

CO,+ H, —»{ﬂ

Figure 1.5. Sketch of a multi-tubular packed membrane reactor to enhance the CO> direct
conversion to DME via the in-situ removal of water.
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To promote the separation of water from the reaction ambient, the membrane
material must be propetly selected. Nevertheless, a driving force for the water trans-
membrane flux is necessary to guarantee the separation. In most of the cases, this
driving force is a gradient in concentration/partial pressure, which is generated by
either applying vacuum or lower pressure in the permeate side of the membrane or
by feeding a sweep gas to dilute the permeated species. The former solution leads to
more mechanical stress on the membrane, as well as higher operating costs, if
vacuum conditions are required. Thus, the circulation of a sweep gas is usually

preferred.

1.4 MEMBRANE MATERIALS FOR WATER SEPARATION IN MEMBRANE
REACTORS

The membrane material must be propetly selected to guarantee the selective removal
of water and, at the same time, to retain reactants (including methanol) in the
reaction environment. It is known that higher permeability corresponds also to lower
selectivity to the separation (i.e., perm-selectivity) [125]. Thus, the membrane should
be chosen based on a trade-off between water vapor permeability and vapor/gas
perm-selectivity.

The selection of the membrane material is crucial, especially in terms of stability in
hot humid environment [126]. For this reason, polymeric membranes are not
suitable, since they cannot work at very high temperatures, and undergo
plasticization and swelling phenomena. Porous inorganic membranes, on the other
hand, have been extensively studied for pervaporation [127]-[132]. Ceramic
membranes, in particular zeolites, have been mostly proposed for the in-situ removal
of HxO in different reactive systems [113], [114], [116], [118], [126], [133]—[130].
Despite their excellent properties in terms of vapor permeability, mainly deriving
from their strong hydrophilicity, zeolite membranes suffer from: 1) poor
reproducibility, due to the complexity of the synthesis procedure [137], [138] and 2)
poor long-term stability due to dealumination when in contact with large volume of
hot water [120], [138]. Alternatively, carbon molecular sieve membranes (CMSM)
offer superior thermo-chemical stability in humid and corrosive environments, as
well as an excellent balance between gas permeance and perm-selectivity, especially
with respect to polymeric membranes [139]-[141]. Thus, CMSM are a potentially
attractive candidate to selectively separate H>O from other gases in the temperature
conditions of the CO; hydrogenation processes (i.e., 200-400 °C) [142], [143].

Carbon-based membranes have emerged as promising material for gas separation
processes, with a wide application spectrum, owing to the possibility to tailor the
properties of the carbon active layer and thus the governing permeation mechanism
to the desired separation. Most of these applications include the separation of
mixtutes of (dry) gases such as CO2, N3, CHy4, H> or mixtures of alkane/alkene at
relatively low temperature (i.e., 20-80 °C) [141], [144]—[145]. Only very recently, they
have been demonstrated for water vapor permeation, at temperatures above 150 °C
[140], including the work reported in this thesis.
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Carbon molecular sieve membranes derive from the pyrolysis, often referred to as
carbonization, of a thermoset polymeric membrane precursor, carried out at high
temperature and under inert atmosphere or vacuum. Self-standing membranes are
brittle and difficult to handle. Thus, often supported CMSM with improved
mechanical stability are prepared via the deposition of the selective carbon layer on
the surface of a porous ceramic support (e.g., a-AlLOs). The pyrolysis or
carbonization step is a process that transforms the dense polymeric membrane
precursor into a porous carbon membrane which can display, at the same time, ultra-
micropores (i.e., d,, < 0.6 nm) and micropores (i.e., i.e.,, 0.6 < d,, < 2 nm). Pores
in the mesopores and macropores region are considered mostly as defects in the
selective layer. These pores do not contribute to the membrane selectivity, but
usually enhance the permeability of all species, favoring both Knudsen diffusion and
viscous flow. The ultra-micropores are responsible for the molecular sieving (MS)
character of these membranes, according to which the separation of molecules is
based on size-exclusion. The second important transport/separation mechanism is
adsorption-diffusion (AD), mainly occurring in the micropores, which is based on
the physicochemical interaction of the molecules with the pore surface [147], [148].
An overview of the gas transport mechanisms potentially occurring in a CMSM is
given in Figure 1.6.
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Figure 1.6. Schematic drawing of the main mechanisms used to explain gas transport
through carbon membranes. Figures adapted from reference [148]
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Depending on the conditions of the carbonization step (e.g., atmosphere,
temperature, time and heating rate) and on the physicochemical properties of the
polymeric ~ precursor,  the  porous sttucture  and  degree  of
hydrophilicity/hydrophobicity of the CMSM can be tuned according to the desired
application and its perm-selectivity requirements [146], [149]-[151]. As a matter of
fact, with the pyrolysis of the polymeric precursor, the chemistry of the membrane
changes, towards the direction of graphitization. Thus, the membrane gradually loses
its hydrogen and oxygen content. At the same time, the dense polymeric layer
transforms into a complex system of pores which eventually, at higher temperature
(i.e., above 850-900 °C) collapses in a graphitic structure. This means that the
carbonization step also influences the pore size and distribution of the CMSM.

Besides the pore structure and surface properties of the membrane, the operating
temperature is a well-known parameter that determines the governing permeation
mechanism. At higher temperatures, corresponding to higher molecular energy level,
the collisions of the molecules with the pore walls are more frequent, slowing down
the permeation process. This phenomenon is known as Knudsen diffusion [152].
Therefore, higher temperatures hinder the adsorption phenomena, and the transport
mechanism inevitably turns into the molecular sieving or Knudsen diffusion [147],
[153]. For each diffusing gas, a specific temperature exists at which the adsorption-
diffusion is not relevant anymore [154]. At lower temperatures, on the other hand,
when the adsorption-diffusion mechanism is dominant, the diffusing species could
reduce the effective pore size of the membranes, hindering the permeation of the
non-diffusing species. Therefore, at low temperatures, higher perm-selectivity values
can be achieved.

While most of the literature on CMSM deals with (low temperature) gas separation
processes, which are usually described as a combination of molecular sieving and/or
adsorption-diffusion, very limited attention has been paid to the separation of
mixtures containing condensable species like H2O. In these cases, an additional
transport mechanism via viscous flow of capillary condensate [155]—[157] should be
contemplated. Indeed, for wetting systems (e.g., H2O on a hydrophilic solid surface)
the vapor pressure in a capillary is lower than that on a planar surface, as described
by the Kelvin’s equation [158]. Thus, water can condense in the micropores of the
carbon membranes with sufficient hydrophilicity. Whereas the existence of capillary
condensation may be considered as a nuisance (i.e. lower gas permeability), or even
complexing factor that obscures the interpretation of experimental data, it can surely
be used for the rational design of a selective membrane if propetly understood.
When looking at the case of water separation, a hydrophilic carbon membrane is an
obvious choice given their well-established affinity to H>O [42],[50]. Water is known
to adsorb on the pores already at ambient conditions, reducing the active pore size
of the membranes [159] and thereby increasing the separation factors between water
and other gases. Even more, when capillary condensation occurs, water could
partially or totally block the pores of the membranes, further supressing the
permeation of the other gases. In processes involving CO hydrogenation, where the
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focus is the selective separation of H>O from reactants and products such as Ho,
COz and CO, this is an enormous advantage.

1.5 THESIS OUTLINE

In this thesis, the use of the membrane reactor technology for the one-step CO2
hydrogenation to DME reaction is thoroughly studied from different perspectives,
ranging from the development of the membrane materials, to the demonstration of
the technology at reactor and process scales, combining both experimental and
numerical tools.

In Chapter 2, a 1D-phenomenological membrane reactor model is described and
used to determine the optimal membrane performance in terms of water
permeability and perm-selectivity, to shed light into suitable material as well as to set
a target for the membrane development. The cocurrent circulation of a sweep gas
stream containing the reactants (i.e., CO> and Hy), is proposed as an effective
strategy to promote the selective water removal from the reaction environment,
lowering the membrane requirements in terms of perm-selectivity. Based on this
study, ceramic supported catbon molecular sieve membranes (CMSMs) are selected
as promising materials given their potential hydrophilicity and the possibility to tune
their properties by acting on different parameters of the synthesis procedure.

Chapter 3 and 4 focus on the study of phenolic resin CMSMs to promote the high
temperature (i.e., 200-250 °C) separation of H;O vapor from (hydrogen-rich)
gaseous streams. First the incorporation of hydrophilic boehmite nanosheets (p-
AlO(OH)) in the polymeric resin as a way to improve the membrane hydrophilicity
is assessed in Chapter 3. Then, the effect of the carbonization temperature on the
vapor/gas separation petformance is thoroughly studied in Chapter 4, with
particular focus on the water interaction with the membrane surface.

In Chapter 5, an experimental proof of concept of the membrane reactor
technology is presented, which also allows for the validation of the previously
developed phenomenological reactor model. The effect of the main reaction
parameters (i.e., temperature, pressure gradient, sweep gas flow ratio) is studied and
the membrane reactor configuration proposed in Chapter 2 (i.e., circulation of the
sweep gas containing the reactant) is proved as effective way to mitigate poor
vapor/gas membrane selectivity issues.

In Chapter 6, the membrane reactor is modeled under a multi-scale perspective with
a particular focus on the heat and mass transfer phenomena occurring at different
scales (ie., from the particles, to the membrane and the reactor scale). 2D
heterogeneous models are implemented and solved to first investigate the relevant
phenomena with a rigorous approach. Thereafter, short-cut methods (i.e., Thiele
modulus-efficiency approach, mass transfer coefficient correlations) are proposed
to simplify the reactor model, accounting for all the phenomena which significantly
affect the reactor performance.
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Chapter 7 proposes a comparison on a techno-economic level of two routes for the
one-step DME synthesis via CO; hydrogenation: 1) the conventional route, based
on a packed bed reactor (PBR) technology; and 2) the MR-assisted route, based on
the packed bed membrane reactor (PBMR) technology. The scope of this study is
to identify the advantages of using a membrane reactor on a process scale, analyzing
both technical and economic performance. Furthermore, this chapter aims at
identifying the economic bottlenecks of this technology, as well as to make a realistic
prediction about when this CO; utilization route would become competitive at
industrial scale.

Finally, the main conclusions of this thesis and the research outlook ate summarized
in Chapter 8.
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CHAPTER 2

Direct conversion of CO: to dimethyl ether in a packed
bed membrane reactor: influence of membrane
properties and process conditions

Abstract

In this chapter, a 1D phenomenological reactor model is developed to evaluate and
optimize the performance of a membrane reactor for the direct hydrogenation of
CO; to dimethyl ether (DME) reaction, otherwise limited by thermodynamic
equilibrium and temperature gradients. The cocurrent circulation of a sweep gas
stream through the permeation zone promotes both water and heat removal from
the reaction zone, thus increasing overall DME yield (from 44% to 64%). The
membrane properties in terms of water permeability (i.e., 4107 mol-Pa-'m-?s) and
selectivity (i.e., 50 towards Ha, 30 towards CO; and CO, 10 towards methanol), for
optimal reactor performance have been determined considering, for the first time,
non-ideal separation and non-isothermal operation. Thus, this work sheds light into
suitable membrane materials for this application. Then, the non-isothermal
performance of the membrane reactor was analyzed as a function of the process
parameters (i.c., the sweep gas to feed flow ratio, the gradient of total pressure across
the membrane, the inlet temperature to the reaction and permeation zone and the
feed composition). Owing to its ability to remove 96% of the water produced in this
reaction, the proposed membrane reactor outperforms a conventional packed bed
for the same application (i.e., with 36% and 46% improvement in CO, conversion
and DME yield, respectively). The results of this chapter demonstrate the potential
of the membrane reactor to make the CO» conversion to DME a feasible process.

This chapter is based on the following paper:

Poto, S., Gallucci, F., & Neira d'Angelo, M. F. (2021). Direct conversion of CO; to
dimethyl ether in a fixed bed membrane reactor: Influence of membrane properties
and process conditions. Fuel, 302, 121080.
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241 INTRODUCTION

As described in Chapter 1, the COz conversion to methanol and dimethyl ether is
severely limited by the thermodynamic equilibrium. Being water the main reaction
by-product as well as often cause for catalyst deactivation, this process could
enormously benefit from the in-situ removal of water from the reaction
environment. To this scope, membrane reactor has been identified as a promising
technology with the ability to couple reaction and product separation in a single unit
as a mean to overcome the thermodynamic limitations (e Chatelier principle).

Several studies have been published on the use of both organic and inorganic
membranes to enhance the synthesis of methanol. Struis et al. [1], [2] showed that
the integration of a Nafion membrane for the selective removal of water in a packed
bed reactor has remarkable effects on the CO, conversion and methanol yield.
However, given the poor thermal stability of the polymeric membranes, most of the
recent research interests shifted towards inorganic membranes, which are more
thermally stable [3]—[5]. These and other works show that water permeability and
selectivity (i.e., H:O/Hz and H2O/CO; separation factors) are critical parameters
with remarkable impact on the overall process. While the use of membrane
technology for the synthesis of methanol is well demonstrated in the literature, and
several modeling studies also demonstrate its benefits to enhance the dehydration of
methanol to DME [6]-[8], the application of membrane reactors for the direct
conversion of COz to DME (i.e., in one step) has gained research attention only very
recently. In fact, the direct synthesis of DME from CO»-rich syngas (i.e., not yet
pure CO2) became a topic of interests in the last decades due to the populatity of
biomass gasification technologies. Several works demonstrated the importance of
the in-situ water removal, especially when gradually replacing CO with CO2 [9]-[12].
De Falco et al. [13], [14] showed for the first time that the considerations of a heat
management strategy and the operation under non-isothermal conditions are key in
this temperature-sensitive process. In view of the increasing interests in CO> capture
and valorization, very recently the direct synthesis of DME from concentrated CO>
and Hz has become a hot topic. The CO»2-to-DME process is even more challenging
than the well-studied (CO»-rich) syngas route, and thus requires dedicated attention,
due to the formation of larger amounts of water, leading to more severe
thermodynamic limitations and membrane stability issues.

Very recently, the work of Ateka and collaborators [15]—[17], demonstrates the
benefits of a packed bed membrane reactor to boost the synthesis of DME starting
from COz and CO mixed in different ratios. Their work considers the use of zeolite
membranes (i.e., H-SOD type and LTA type), and concludes that the in-situ removal
of water leads to improved DME yields and stable catalytic performance with respect
to a conventional packed bed. Nevertheless, their work focuses on relatively high
temperature operation (i.e., above 275 °C), which limits the membrane separation
performance in terms of water permeability and water separation factors [18].
Although these operating conditions lead to attractive DME yields when starting
with CO2/COx (with COx=CO+CO») up to 0.5 (i.e.,, 65% for pure CO), the
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reported DME yields for pure COz feeds remain very low (~5%). Thus, it is evident
that the shift in feed composition from (COz-rich) syngas to pure COz poses
additional demands on the membrane separation, and thus requires further
investigation. To this end, it is important to consider a wider temperature range (i.e.,
especially towards lower temperatures that favor water permeation), as well as the
non-ideal behavior of real membranes. Most of the modeling studies reported so far
[9]-[14] including the most recent works by Ateka et al. [16], consider zeolite
membranes that ideally permeate only the smallest molecules (i.e., HoO and Hb).
However, the likely permeation of other gases such as CO and methanol may
significantly reduce the DME vyield, and therefore should be taken into account when
optimizing membrane properties. Furthermore, the importance of the heat
integration in this process should not be underestimated, as temperature enormously
affects the product distribution (i.e., reactions limited by thermodynamic
equilibrium), as well as the membrane separation properties and stability. Indeed, if
an adequate strategy to control the temperature gradients is not adopted, the process
would converge into the r-WGS [19].

In this chapter, the performance of a membrane reactor for the direct conversion of
COz to DME has been described through a non-isothermal phenomenological 1D
reactor model. A reactor configuration in which a sweep gas is fed co-currently with
the feed to promote both water and heat removal from the reaction zone is
proposed. This work does not focus on a specific membrane material, but rather
aims at identifying the required membrane properties (i.e., permeability and
selectivity of all the species) which maximize DME yield and CO» conversion and
uses that as a basis for the identification of a suitable membrane material. Among
the available membrane materials, this study pays special attention to porous
membranes as they fulfil important pre-requirements concerning hydrophilicity,
thermal and mechanical stability and high selectivity [20]. The effect of process
parameters (i.c., the sweep gas to feed flow ratio, the gradient of total pressure across
the membrane, the inlet temperature to the reaction and permeation zone and the
feed composition) on CO2 conversion and DME selectivity is investigated through
parametric studies. Finally, this work provides insights about optimal membrane
properties and process conditions that render maximum DME yields.

2.2 REACTOR CONFIGURATION AND MODELING

2.2.1  Description of the reactor configuration

The packed bed membrane reactor considered in this work is sketched in Figure
2.1 with the properties summarized in Table 2.1. The reactor is composed of two
coaxial tubes: an inner tubular membrane and an outer reactor shell which hosts the
catalyst bed, giving raise to two zones, referred as the permeation and the reaction
zone, respectively. This configuration allows for a high mechanical stability of the
membrane, and easy optimization of the ratio between the membrane area and
catalyst volume. Since the permeation of species depends on the gradient in partial
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pressure across the membrane, two different approaches can be considered to
promote the removal of water: 1) applying a gradient of total pressure between the
reaction and the permeation zone; and 2) feeding a sweep gas through the
permeation zone to dilute the permeated water. The first solution leads to more
mechanical stress on the membrane, and a higher driving force for the permeation
of all the species, leading to the unwanted loss of reactants. On the other hand, using
a sweep gas with the same composition of the feed favors the selective removal of
water and minimizes reactants loss. In this study, a sweep gas is fed in a cocurrent
configuration in order to enhance water removal at the beginning of the reactor,
where the reaction rate and water formation are the highest. Additionally, the
cocurrent circulation of the sweep gas at a lower temperature favors the removal of
the heat of the reaction, optimizing the temperature profile. For an exothermic
reaction, a cocurrent circulation of the reaction mixture and the cooling fluid is
preferred, because most of the heat is produced at the beginning of the reactor.

A—

Retentate -
—

Membrane

Catalyst bed
w-jo-atatyst bed

CO+H,
— I
.

Figure 2.1. Schematic representation of the packed bed membrane reactor

Sweep gas

Table 2.1. Main characteristics of the packed bed membrane reactor

Parameter Value
Reactor shell internal diameter, Dg; (m) 0.0198
Catalyst bed and membrane length, L (m) 1
Catalyst particle diameter, d, (m) 4104
Catalyst density, p (kg/m?3) 1982
Catalyst bed porosity, € (-) 0.4
External membrane diametet, Dy, (m) 14-103
Internal membrane diameter, Dy (m) 10-10-3
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2.2.2 Modeling equations

The phenomenological reactor model relies on the following assumptions:

1. Steady state conditions

2. 1D ideal plug flow (i.e., axial and radial dispersion is neglected by
considering I./d, = 50 and D/d,, = 25, respectively)

3. Kinetic control regime (i.e., the solid and gas phase are described as a
single pseudo-homogeneous phase, due to the absence of mass transfer

Chapter 2

limitations)
4. Negligible pressure drops in the permeation side
5. Kinetics by Lu et al. [21] valid for conventional and membrane reactor
6. Inert membrane matetial under reaction conditions.

Accordingly, the membrane reactor model consists of mass and energy balances for
both the reaction and permeation zone, and a momentum balance for the reaction
zone only. For each of the six chemical species that take part in the process (i), the
following equations hold:

Nr
dF m 2.1
- pc(1—¢) Z(l’jVji)Z (D% — DZ,) — JimDpe @1
=1

dF? 2.2
—— = JitDy, ( )

dz

Where Jj is the flux of component i through the membrane, as defined in Eq. 2.3.
By definition, J; is positive when the species permeates from the reaction to the
permeation zone.

Ji =i (PR —PF) 2.3)

#; is the permeance of the component i and P* and PF are its partial pressure in the
reaction and permeation zone, respectively. The selectivity of water to the
permeation (L.e., perm-selectivity) with respect to the component i is defined as
follows:

#H,0
Pi

SH,0/1 = 2.4

In this chapter, the dependency of §; on the composition was neglected because the
composition of water (i.e., the primarily permeating species) does not change
significantly, as confirmed later in Section 2.3.3. In addition, it was assumed that the
permeation flux is limited by the transport through the membrane selective layer.
Indeed, gas/vapor permeation through porous membranes is usually not affected by
concentration polarization phenomena (i.e., resistance to the transport from a bulk
phase to the membrane surface) because of the high diffusivity and low permeability
of the gases, when compared to liquids [22].
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In this chapter, the kinetic model by W. Lu et al. (Eq. 2.5-2.7) for the well-studied
CuZnOALO3/HZSM-5 bifunctional catalyst was considered [21]. This kinetic
model neglects the CO hydrogenation to methanol, thus reaction 3 corresponds to
the methanol dehydration to DME. The extensive amount of experimental data
reported for such catalyst allow to easily validate the kinetic model, as well as its
implementation into the reactor model. Nevertheless, other kinetic models have
been reported in literature [21], [23]—[29], very recently also for new catalyst types,
such as CuO-ZnO-MnO/SAPO-18 [30] and a core shell CuOZnOZrO@SAPO-
18 [31].

Coke formation and water adsorption (i.e. main causes of catalyst deactivation) are
avoided due to the relatively low reaction temperatures and the water removal,
respectively. The rate expressions derive from a Langmuir Hinshelwood model, in
which the water and methanol adsorption on the catalyst surface are neglected.

Py.oP,

r =k p.1 PCOZPH23 (25)
1 — ™ 3
(1 4 Kco,Peo, + KcoPeo + /Ku, P,)
1 Peo, Py,
. Ko Poo  H20 2.6)
r, =K,
(1 + Kco,Peo, + KeoPeo + /Ku, Pry)
=k Pen,on’ _ Penzocn, 2.7)
N\ Pyyo Kp3

Here P, is the partial pressure of each component in the reaction zone, calculated as
the product between the total pressure and the molar fractions. The kinetics [21],
adsorption [32], [33] and equilibrium constants [33] are shown in Table 2.2.
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Table 2.2. Kinetic parameters of the catalytic hydrogenation of CO, to DME

Kinetic parameter Value
1.7609 - 10*
K, (kmol/(kgeat - s - bar?)) 35.45 -exp ——RT
2.0436-10*
k, (kmol/(kgcy; * s - bar)) 7.3976 - exp <— T)
5.294-10*
k3 (kmol/(kgca; - s - bar)) 8.2894 - exp <— T)
_ 3.4394 - 10*
Ky, (bar™) 0.249 - exp (T)
B B 6.74-10*
Ko, (bar™) 1.02 1077 exp <T>
5.81-10*
-1 . -7 I
Kco (bar™) 7.99-10 exp< T >
K. | (bar-?) exp (4213/T — 5.752 - In(T) — 1.707 - 1073T +
pa +2.682- 1076T2 — 7.232-1071°T3 + 17.6)
Kyz () exp (2167/T — 0.5194 - log(T) + 1.037 - 1073T +
p.2 —2.331-1077T2 — 1.277)
K, 5 (bar~2) exp (4019/T + 3.707 - In(T) — 2.783 - 1073T +
p.3 +3.8:1077T2 — 6.56 - 10*/T3 — 26.64

The energy balance in the reaction and the permeation zone are described in Eq. 2.8
and Eq. 2.9, respectively. These balances assume heat exchange between the reaction
and permeation zone, but the reactor is isolated from the external environment to
evaluate the thermal effects of feeding cold sweep gas as single cooling strategy.

Ng Nr
R dTR T 2 2 R
Z(Fi cpi) ;= Pe(1 — &) 7 (Df — Dfo) Z rj (—AH(TF)) + 2.8)
i=1 j=1
Ng

_UT[Dmi(TR - TP) - ano Z(]icpi(TR - mr))
i=1
Ns

Ns
dT?

D (FPep) = UnDy (TR = T + 1Dyp » (Jicpi(Tay = T7))

i=1 i

i=1

2.9)

The global heat transfer coefficient U (2.10) describes three consecutive heat transfer
phenomena: 1) the convection in the inner tube, 2) the conduction through the
membrane and 3) the convection in the outer tube.

1 1 Dm 1. (Dmoy Dm 1
(T22) + 2.10)

—=— 42 —
U hmi 2 km Dmi Dmo hmo

The heat transfer coefficient in the permeation zone (hy,;) and reaction zone (hp,)
are calculated according to the correlations by Dittus-Boelter [34] and Li-Finlayson
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[35], respectively (see Appendix A). The temperature at the membrane surface on
the reaction (Tp,) and permeation side (Tpp) are determined by the steady state
energy balance around the membrane (Eq. 2.11-2.12)
(T — T2 )y 22 = (Tmr = Tmp ) km @.11)
’ 2 In (Dme)
Dmi
(Tmp - TP)hmiDmi = (TR - mr)hmoDmo (212)

The pressure drop in the reaction zone is described by the Ergun equation (Eq.
2.13), while the pressure drop along the permeation zone is considered negligible.

dP®  150u(1 —g)%v N 1.75(1 — &)pv?

- 2.1
dz e3d2 e2d @13)

p

The above set of equations were implemented in MATLAB R2019a and solved
numerically with the ode?5s function.

2.2.3 Operating conditions and parametric study

Two parametric studies were performed to determine the optimal membrane
propetties (i.e., £u,0 and Sy, o), that render maximum CO> conversion and DME
yield. The first parametric study (P1) assumes that only the smallest molecules (i.e.,
H>O and H») permeates through the membrane, while the other species do not
permeate (i.e., ideal membrane assumption). This initial study is used to determine
the optimal values §y,0 and Sy,o,u,. The second parametric study (P2) considers a
real membrane where all species may permeate, and it is used to find the optimal
selectivity of water with respect to the remaining species. Both P1 and P2 were
carried out assuming isothermal conditions, and thus the membrane properties refer
to the chosen temperature.

Table 2.3. Range of §y,0 and Sy, q/; for the parametric study (P1 and P2).

Membrane property P1: Ideal membrane P2: Real membrane
1,0 (mol-Palm2s1) 0-1-10¢ Optimal value from P1
Su,0/H, () 0.5 -50 Optimal value from P1
SH,0/c0, () 00 5-50

Sh,0/c0 () e 5-50

Sh,0/MeoH () o0 5-10

Sh,0/pME () o 0o

The ranges of §y,0 and Sy, o, considered in P1 and P2 are summarized in Table
2.3. Typical values of oy, for porous membranes reported in the literature vary
from 6.8-108 to 9.7-107 mol-Pa'm2s'[11]. Thus, this study assesses the effect of
#u,0 between 0 and 1-10-¢ mol-Pa-'m-2s-1. With respect to the remaining species, it
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was considered that water will likely condense in the meso- and micro-pores of the
membrane due to the low capillary pressures (e.g., capillary pressure is 10 bar at 200
°C for a pore size of 1 nm in a hydrophilic membrane). This will effectively reduce
the pore size, and, consequently, hinder the permeation of non-condensable gases.
Therefore, for most cases water has the highest permeance (i.e., Sy,o/i >1).
Nevertheless, values of Sy,q/n, lower than 1 were also considered in this study, to
contemplate the possibility of competitive permeation of these two species, with
very similar size. In the worst case scenario (i.e., separation dictated by the Knudsen
diffusion, usually occurring at higher temperatures within the bigger pores [36]), the
Knudsen perm-selectivity of water and H is Sy,o/u, = v/Mwn,/Mwn,0 = 0.33.
Thus, the minimum value of Sy, o/, is set to 0.5 (i.e., around 50% higher than the
Knudsen perm-selectivity value), although this type of flow is not likely within a
hydrophilic membrane. Data from literature [37], [38] show that CO and CO»
permeances are very similar, due to their comparable molecular size. For this reason,
the H2O/CO; and H2O/CO selectivity was set at the same value. Next, the
permeance of methanol is higher than those of non-condensable gases (i.e.,
Sh,0/Meon 1 lower) because methanol may also permeate through capillary
condensation. Finally, DME cannot condense under reaction conditions because it
exceeds its critical temperature (128 °C) under the operating conditions. DME
molecular size is the largest among all the species in this process, which justifies the
assumption of an infinite HO/DME selectivity. The dissolution of species in the
condensed water was assumed negligible in this study, since liquid water only exists
inside the (small) pore volume.

Table 2.4 reports the operating conditions evaluated in this study. These were kept
constants during P1 and P2, while a third parametric study (P3) aimed to assess the
effect of some operating conditions on the reactor performance. An average
temperature of 200 °C was set as the target within the reaction zone in order to: 1)
avoid catalyst deactivation, which occurs at temperatures greater than 270-300 °C
[21], [39], [40]; 2) limit the production of CO, which occurs preferentially at elevated
temperatures; 3) guarantee a sufficiently fast water permeation through the
membrane, which is enhanced at lower temperatures due to its transport mechanism
[41], [42]; and 4) guarantee sufficient catalyst activity, which demands temperatures
greatet than 190-200 °C [43]. Finally, a total pressure of 40 bar was set in the reaction
zone.
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Table 2.4. Operating conditions adopted in the simulations

Operating condition P1 P2 P3
H:CO», (mol/mol) 3 3 3-10
®f, o (Nm?/h) 0.1 0.1 0.1

T&, (°C) 200 200 200

T¢, °C) 200 200 120-200
PR, (bar) 40 40 40

AP (bar)> 0 0 0—40
SW ()¢ 3 3 3-50

“The composition of the feed to the reaction and permeation zone is the same
AP is the gradient in total pressute across the membrane.
¢ SW is the sweep gas to feed molar flow ratio

The reactor performance was evaluated in terms of COz conversion, product yield
and selectivity, and the amount of water removed. The loss or cofeeding of reactants
(i.e., through back-permeation of sweep gas in the reaction zone) was considered in
the following definitions [44]:

X = Fo,0 = Fto, = Fco, tmb (2.14)
co, = ”
’ Fgoz.o + FCOz,tmb
R, gP
o N D) ors
1 - *
Fgoz,ﬁ + FCOZ,tmb
S; = Y (2.16)
Xco,
Fco,tmb = Fgoz - FCPOZVO CO; transmembrane flow (2.17)
Feo,tmp =0 if Fcoytmp = 0 Reactant loss (2.18)
F EOz,tmb = —Fco,,tmb if Feo, tmb < 0 Reactant cofeeding (2.19)
P
WR Phz0 (2.20)

=P R
Fu,0 + Fi0

Where N is the number of carbon atoms in the considered species. The WR is an
important key performance indicator that represents the membrane efficiency. This
variable was introduced by Battersby et al. [45], who defined the product of the
Peclet and Damkohler numbers (DaPe) as a new dimensionless number representing
the combined effect of reaction and separation. According to the DaPe definition
(Eq. 2.21), a membrane reactor works in optimal conditions when DaPe approaches
unity, which means, in our process, that all the water produced is removed through
the membrane. However, DaPe = 1 describes a thermodynamic limit that can only
be approached. Therefore, when DaPe exceeds 1, water builds-up in the reactor,
indicating a poor performance of the membrane reactor.
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Maximum reaction rate per unit volume
DaPe = - - - (2.21)
Maximum permeation rate per unit volume

In this work, the WR number represents the reciprocal of the DaPe number.

2.3 SIMULATION RESULTS AND DISCUSSION

This section discusses the validation of the kinetic model and the results of the
parametric studies for the optimization of the membrane properties (i.e., P1 and P2)
and the process conditions (P3).

2.3.1 Validation of the kinetic model

The validity of the model was assessed by reproducing the experimental results of
Ren et al. [46] detived for a CuZnOALOs/HZSM-5 bifunctional catalyst in a packed
bed reactor, where the two functions were mixed in a 1:1 weight ratio. In Figure 2.2
the results of the simulation related to both CO; conversion and DME yield are
compared with the experimental data at a pressure of 28 bar, a GHSV of 1215
NL/(kgea'h) and a H/CO, molar ratio of 3:1. The model fits quite well the
experimental data at lower temperatures (i.e., T < 250 °C), which is the temperature
range in which Lu et al. [21] studied the kinetics. Therefore, predictions beyond this
temperature range have not been performed in this study. At 220 °C, the divergence
between the model prediction and the experimental data is 1.92% for CO»
conversion, 3.5% for DME yield and 1.05% for CO yield. The difference between
the experimental data and the simulated values, which is larger at higher temperature,
derives from the different composition of the catalytic bed of the two mentioned
studies. However, the kinetic model describes the experimental trend with
temperature of both COz conversion and DME yield.
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Figure 2.2. Comparison between the experimental data of Ren et al. [46] and the data
obtained with the model prediction for a conventional reactor: CO; conversion (a) and DME
yield (b) as a function of temperature at 28 bar, GHSV of 1215 NL/ (kge.c'h) and Hz/CO»
molar ratio at 3:1.

53

Chapter 2




CHAPTER 2

Furthermore, the correct implementation of the kinetics was assessed by
reproducing the theoretical results of a conventional packed bed reactor by Iliuta et
al. [9] (see Appendix A, section A.2), with a deviation lower than 2%.

2.3.2  Optimization of membrane properties (2,0 and Sy,q/i)

Results of parametric study

The ou,0 and Sy,o/n, Were first optimized using the parametric study P1 (i.e., ideal
membrane hypothesis holds), since they do not depend on the permeation of the
other species. Figure 2.3a shows the effect of oy, on the water transmembrane
flow, which expectedly increases with greater permeances, reaching a plateau at
around 4:107 mol/(Pa-m?'s), where the thermodynamic equilibrium between the
reaction and the permeation zone is established. Accordingly, increasing permeance
leads to improvement on CO; conversion (Figure 2.3c) and DME yield (Figure
2.3d) up to 0.6 and 0.5, respectively, due to a shift in the thermodynamic equilibrium.

In addition, Figure 2.3 shows the effect of the selectivity of water with respect to
H: on the same performance indicators (i.e., transmembrane flow of water and Ho,
and resulting CO; conversion and DME yield). The ideal membrane allows only
water and hydrogen to permeate. In principle, an increase in Sy,o/m, may be
considered advantageous to promote the permeation of water with respect to that
of Hz (ie, a valuable reactant). Loosing H» through the membrane would be
detrimental for the final DME yield as well as for the economics of the process. In
this case, however, the composition of the sweep and feed gas streams are the same,
which in facts results in a net back permeation of Hy from the permeation to the
reaction zone regardless of the selectivity. This phenomenon, hereby referred as
cofeeding, explains the negative values reported in Figure 2.3b, particularly at low
Sh,o/H, Values (i.e., poorly selective membranes). In other words, there is no need
for a highly selective membrane to prevent H» loss when using a sweep gas with the
same concentration as the feed mixture.

As shown in Figure 2.3b and 2.3c, H: cofeeding is beneficial both for the CO2
conversion and DME yield, in line with the work of Diban et al. [11]. Interestingly,
these results also show that decreasing the HoO/H; selectivity by three orders of
magnitude leads to a negligible effect on the reactor performance. The low sensitivity
of the process to variations in membrane selectivity is conducive to a very robust
reactor concept. However, excessive cofeeding is undesirable because it would
require a significant H» reintegration in the sweep gas before its recycling. In other
words, despite the negligible effects of the perm-selectivity of hydrogen on
conversion and yields, it is desirable that the membrane preferentially enhances the
separation of water (i.e., relatively high values of Sy,o/m,). In that case, the
permeated water can be easily condensed from the outlet of the permeation zone,
facilitating direct recirculation of the sweep gas without complex post processing
units. Thus, a Sy,o/u, of 50 was considered for the rest of this study.
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Figure 2.3. Effect of the H>O permeance and H,O/H selectivity on the membrane reactor
performances in terms of: a) water transmembrane flow (Fy,0tmb ), b) hydrogen
transmembrane flow (Fy, tmp), ©) CO2 conversion (X¢p,) and d) DME yield (Ypumg). In each
plot, curves are parametric for the HoO/H, selectivity (Sy,o/m,)-

Afterwards, the SHZO/CO 5 SHZO/COZ and SHZO/MEOH were optimized with the
parametric study P2, which considers a real membrane. Figure 2.4a shows the effect
of the HxO/COx selectivity (where COy refers to either CO; or CO, with assumed
equal permeance) on COz conversion and products yield. Both COz conversion and
DME yield display a very mild increase with greater HxO/COx selectivity, up to a
maximum value of 0.60 and 0.42, respectively. On the other hand, methanol and CO
yield are nearly unaffected by the H2O/COx selectivity. In principle, increasing the
H>O/COx selectivity has two main advantages: 1) both the loss and cofeeding of
COgz is limited, requiring no adjustment of the CO, composition in the sweep gas
prior to recirculation, and 2) CO permeation is limited, which minimizes the extent
of the reverse water gas shift reaction and thereby improves DME selectivity.
However, these results show that the susceptibility of the system to this parameter
is negligible, due to the use of a sweep gas with equal concentration as the feed
stream, which limits the gases permeation in both ways. Hence, an average value 30
(i.e., a value in the middle of the range explored) is used in the rest of this study.
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Figure 2.4b shows a slight negative effect of HxO/MeOH selectivity on the CO;
conversion and methanol yield. Expectedly, a greater methanol permeation (i.e., a
low selectivity) results in a shift in the thermodynamic equilibrium of the CO»
hydrogenation reaction (i.e., reaction 1). In this process, such situation is not desired
since methanol permeation will limit its further dehydration to DME. For the same
reason, when increasing the HxO/MeOH selectivity, DME yield increases. Likewise
in previous cases, the DME yield does not seem very sensitive to a 10-fold increase
in the HxO/MeOH selectivity. Further, Figure 2.4b shows that this selectivity has
no effect on the CO yield, as expected. Since a higher value of selectivity is not
physically expected, the optimal value of HxO/MeOH selectivity was set to 10.

0.70— 0.70 0.70 0.70
<~ "co <~—Xco
0.60 f—4———26———+—— 0.60 060 % , ., , 1060
050y, 0.50 0.50 ;%_e_e_e_e_‘ 0.50
T 040p—e—" 040 = <_040 040 7
S > 8 >
,© 030 . 030 > O 030 0.30
0.20} "MeOH > 0.20 0.20 0.20
T ’ ' " M
010F v, 0.10 010}y > 0.10
0.00 0.00 0.00 0.00
10 20 30 40 50 2 4 6 8 10
H,0/CO, selectivity (-) H,0/MeOH selectivity (-)

@) (b)
Figure 2.4. Effect of the HoO/COx (2) and HxO/MeOH selectivity (b) on the membrane
reactor performances in terms of CO; conversion (X¢o,), DME yield (Ypmg), methanol yield

(Ymeon) and CO yield (Yco).

Finally, the large kinetic diameter of DME and its non-condensable nature under
reaction conditions justifies the assumption of infinite H:O/DME selectivity.
Howevert, it should be noted that an infinite value for the H:O/DME selectivity is
not necessarily optimal, since the removal of DME from the reaction environment
is expected to enhance its production. Nevertheless, this would also require the
recovery of DME from the permeate stream, demanding additional equipment and
an energy intensive DME/CO, downstream separation track. Table 2.5 summatizes
the optimal membrane permeability properties as determined in the previous
parametric studies (P1-P2).

Table 2.5. Optimal membrane properties determined through the parametric studies

Estimated membrane properties Value
H20 permeance, §y,0 (mol-Pa'm2s) 4107
H.O/Hz selectivity, Sw,0/u, ) 50
H>O/CO; selectivity, Sy, 0/c0, ) 30
H>O/CO selectivity, Sy,0,co (-) 30
H>O/MeOH selectivity, Sy, 0/meon () 10
H>O/DME selectivity, Sy, 0/pmE (-) o)
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Discussion on suitable membrane materials

Based on the results of the parametric studies, it is possible to elucidate on a suitable
membrane material for the conversion of CO2 to DME. To allow the separation of
water vapor from a mixture of gases (e.g., Hz and COy) the selected membrane
material should be porous and possess affinity to water (i.e., it should be
hydrophilic), thus favoring the permeation of water through capillary condensation
and hindering that of non-condensable gases. The exact pore size of such material
may be tailored as a trade-off between permeation fluxes and selectivity, which will
strongly depend on the material itself and its degree of hydrophilicity. Besides its
permeation properties, the membrane material should also be mechanically and
thermo-chemically stable under process conditions. This is, the membrane should
withstand pressures of 10-50 bar and temperature of 200-300 °C in humid
environments, while preserving its chemical and porous structure, and associated
permeation propetties.

Polymeric membranes display adequate separation performance, but they undergo
degradation at temperatures above their glass transition point (i.e., usually below 200
°C) and swelling phenomena may occur in too humid environment. The second
important category of membranes material are porous ceramic membranes [47], [48]
(e.g., alumina, silica, zirconia, titania or a mixture of them). Among them, zeolite
membranes have been widely studied for pervaporation [49]. Indeed, several works
describe the potential of microporous zeolite membranes for the selective removal
of water for different processes such as the methanol synthesis [3]-[5], [20], the
Fischer Tropsch process [38], [44] and the DME synthesis as well [10]—[12], [14]—
[17]. Table 2.6 reports the properties of zeolite membranes in terms on £y, and
Sn,o,i retrieved from a literature survey. Although the reported permeation
properties of zeolite membranes look very promising and match with our
requirements, their stability in hot humid environments remains a topic of concern
within the experimental research [50]. Their high separation factors, especially at
high temperature, are still under investigations. In addition, it is difficult to obtain a
large crack free zeolite membrane [51]]52].

Table 2.6. Summary of the literature review on the properties of zeolite membranes in terms
on §y,0 and Sy, /i, in the temperature range of 200-250 °C

Parameter Value Reference

#u,0 (mol-Pa'm2s1) 6.8:10-8-1-10-¢ [5], [18], [19], [38], [53]-[64]

Shyo/m; ) 2-50 [18], [38], [531, [54], [56], [58], [60]-[62]
SHZO/COZ () 245 -17.7 [38], [55], [57], [65], [60]

SHZO/CO () 3.7-19.6 [38], [55], [57], [65], [60]

Sh,0/MeoH () 1-9 [18], [38], [59], [63], [67], [68]
SHzO/DME (—) NOt deﬁned -
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Carbon molecular sieve membranes (CMSM) are another interesting category of
inorganic porous membranes that could be suitable for this application. Carbon
membranes derive from the pyrolysis of a polymeric precursor [69], and according
to the conditions of the carbonization process, different groups of atoms are
removed from the precursor. The residual functional groups are responsible for the
membrane hydrophilicity. Besides, these membranes are stable in both humid and
hot environment, as far as the carbonization temperature (e.g. typically above 450
°C) is not overcome. Even if the concept of carbon membranes can be found back
in the early 1970 [69], they have only been tested for gas separation processes [70],
[71]. Therefore, further investigation is required when concerning the permeation of
condensable species, such as water. Owing to its promising features, however, the
following section considers the membrane module as an alumina supported carbon
molecular sieve membrane [72].

2.3.3 Optimization of the operating conditions

This section discusses the effect of the main operating conditions on the reactor
performance. In these simulations, the reactor was no longer considered isothermal.
The heat balances were solved by considering an alumina supported carbon
molecular sieve membrane material [72], in line with the previous discussion. The
permeance and selectivity values of the selected membrane are shown in Table 2.5.

Effect of the sweep gas to feed flow ratio (SW) and the gradient of total
pressure (AP)

The sweep gas to feed flow ratio (SW) and the gradient of total pressure across the
membrane (AP) are the main parameters regulating the transmembrane driving
force. Figure 2.5a, b and ¢ show the effect of SW and AP on COz conversion, DME
yield and water removal (WR), which all increase when both SW and AP increase,
up to an asymptotic value of 0.63, 0.53 and 0.96, respectively. An increase in both
SW and AP effectively decreases the pattial pressure of water in the permeate zone,
and thus increases the driving force for water removal (i.e., greater WR). Therefore,
the CO: conversion and DME vyield, which benefit from the removal of water due
to thermodynamic reasons, show the same trend as WR.

All the variables describing the reactor performance reach an asymptotic value when
increasing SW and AP. In particular, the percentage of water removed from the
reaction zone approaches a value slightly lower than 1 (i.e., between 0.94 and 0.906),
indicating that most of the water produced in the reaction is effectively removed
from the reaction zone. However, complete water removal is not possible due to the
thermodynamic equilibrium established between the reaction and permeation zone.

It is interesting to note that WR, and accordingly CO> conversion and DME yield,
are particularly sensitive to SW, while the effects of AP are less significant, especially
at high SW. For example, for a SW of 50, an increase of AP from O to 40 bar leads
to the mild increase in CO; conversion and DME yield from 0.62 to 0.63 and from
0.52 to 0.53 respectively. On the other hand, increasing the AP, also leads to the

58



2. Direct conversion of CO» to DME in a PBMR

undesired loss of reactants or methanol. This is minimized by adjusting the
composition of the sweep gas and tuning the membrane properties (i.e., increasing
the Sy,0/meon)- These findings are in line with similar results reported in literature
[9], [11], [12], [44]. Furthermore, Gotbe et al. [5] reported a decrease in the water/gas
separation factors for higher temperatures and AP related to the same reason.
Therefore, the membrane properties and the compression costs required for the
sweep gas will dictate the final choice of AP. Since this cost analysis is outside the
scope of this study, a value of 5 bar for the AP was assumed for the following study.

Figure 2.5¢ shows the effect of SW and AP on CO yield. Upon increasing SW at
constant AP, CO yield goes through a maximum and then decreases to reach a
plateau. The CO transmembrane flow (Figure A3) shows the same behavior.
Initially absent in the sweep gas stream, both CO and water permeate through the
membrane, enhancing the formation of CO via the reverse WGS reaction. Above a
certain value of SW — which is lower as higher is the AP — the effect of water removal
on the methanol synthesis and dehydration reaction becomes less significant.
Likewise, the previous trends and following analogous rationale, the CO yield also
benefits from increasing AP. The AP effect on the CO yield is negligible, especially
for high values of SW. The asymptotic value of CO yield is 0.06, showing that the
DME selectivity is very high under these conditions.

In the proposed reactor concept, the sweep gas also acts as a cooling fluid that helps
minimize temperature gradients. The temperature profile of the reaction zone along
the reactor shows the typical trend of an exothermic reaction, when a colder fluid —
in this case the sweep gas — is circulated in cocurrent mode. The temperature
increases up to a maximum (L.e., hot spot) and then decreases to reach an asymptotic
value. Therefore, we can identify two characteristic temperatures: 1) the maximum
temperature (TR,,) and 2) the asymptotic temperature (Ta, ). Figure 2.6 shows the
effect of SW and AP on TR, and T& 4. While TR, is nearly independent on SW, the
use of sweep gas seems to be an effective strategy to minimize Teyg. An increase in
the SW ratio (i.e., increase the sweep gas flow rate and velocity) increases the heat
transfer coefficient (see correlations in Appendix A), improving the heat removal
capacity of the sweep gas itself. Besides, larger values of SW lead to higher water
transmembrane flows, which contributes to the heat removal as well.

As expected, the AP shows no influence on the temperature profile, since it does
not influence nor the water transmembrane flow or the heat removal related to
convection.
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Figure 2.5. Effect of the SW ratio and the AP on the reactor performances in terms of a)
COz conversion (X¢o,), b) DME yield (Ypumg), ¢) CO yield (Yco) and d) water removal (WR),
(H2:CO2 = 3; T§ = 473 K, all the other process conditions are reported in Table 2.4 — P3).
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Figure 2.6. Effect of the SW ratio and the AP on the reaction zone temperature profile: a)
temperature (TR,x) as a function of the SW ratio and AP; b) the asymptotic temperature value
(TR o) as a function of the SW ratio and AP (Hx:CO» = 3; T = 473 K, all the other process
conditions are reported in Table 2.4 — P3).

60



2. Direct conversion of CO» to DME in a PBMR

According to these results, it can be concluded that for a SW greater than 20 there
is no significant improvement in the reactor performance and most of the variables
reach their asymptotic value (i.e., an increase of SW from 20 to 30 leads to an
insignificant improvement in COz conversion and DME yield lower than 5% and
only 1% decrease in Taq). As mentioned eatlier, an average temperature of 200 °C
in the rection zone was selected as a compromise between the reaction kinetics,
thermodynamics, catalyst stability and the water separation considerations.
Therefore, the sweep gas inlet temperature was adjusted accordingly. The final
temperature, Ta 4, teaches a value of 200 °C when T¢ is 185 °C, confirming that the
sweep gas, in these conditions, has a sufficient heat removal capacity to optimize the
reactor temperature profile (see Appendix A, Figure A4).

Effect of the feed composition

A key constraint for the methanol and DME production from CO»+H» mixtures is
the need of large amounts of expensive Hy. In fact, a large H2:CO» molar ratio favors
the CO> hydrogenation reactions, both from the kinetic and thermodynamic point
of view. Figure 2.7 shows the effect of the H2:CO» molar ratio on DME yield for
either a conventional and a membrane reactor. A high Hz concentrations increases
the DME yields for both the membrane reactor (up to about 0.7) and for a
conventional one (up to about 0.4), but it comes at the expense of high operational
costs. Thus, a proper optimization of this parameter should result from an economic
evaluation. Here, the membrane reactor offers a clear economic advantage to the
conventional packed bed reactor, as it achieves greater DME yields, and importantly,
it reaches its maximum DME yields at lower H»:COs ratio (i.e., very close to the
stoichiomettic value of 3).
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—*—Membrane reactor

0.80}
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Figure 2.7. Effect of the inlet H2:CO; molar ratio on the DME yield (Ypyg) for a membrane
reactor with a SW = 20; AP = 5 bar; T;fvg = 473 K (all the other process conditions are

reported in Table 2.4 — P3) and a conventional reactor working at the same conditions in
terms of total pressure (i.e., 40 bar) and average temperature (i.e., 473 K).
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On the other hand, the proposed membrane reactor configuration, utilizes a
CO2+Ho: stream as sweep gas, with a SW ratio of 20. Such stream contributes only
to water and heat removal, thus it could be recirculated back to the reactor with a
=100% recycle ratio. Figure 2.8 shows the concentration profile of the sweep gas
along the reactor. As expected, the main components of this stream are CO> and
Ho, with minor amounts of the reaction products (see zoomed in profiles in Figure
2.8b). The molar fractions of COz and H: in the permeation zone suffer from
negligible changes along the reactor. Therefore, the sweep gas can be recycled to the
reactor after limited post treatments (i.e., condensation of the permeated water and
a make-up of CO; and Hz of 0.13% and 0.0038% of the initial flow rate,
respectively). Water is the only species that significantly permeates along the reactor,
reaching a WR of 96%. Even then, its concentration in the permeation zone is very
low, confirming that the circulation of a sweep gas generates sufficient driving force
for water permeation by diluting water in this stream, even if the gradient of total
pressure is close to zero. The sweep gas at the outlet of the reactor contains also a
small amount of CO (0.018%) and methanol (0.028%), which can be recycled
together with CO» and Ha. The presence of methanol and CO in the sweep gas will
further avoid the undesired permeation of these species from the reaction side.
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Figure 2.8. Sweep gas (or permeation zone gaseous mixture) concentration profile of a) the
main component of the streams (CO2 and Hy) and b) the permeating species (H.O, CH;OH
and CO).

2.3.4 Optimized membrane reactor performance vs thermodynamic
limitations

This section discusses the performance of the optimized membrane reactor and
compares it with the thermodynamic limitations. The optimal operating conditions
for the membrane reactor are summatized in Table 2.7. Figure 2.9 shows the
profiles of the main reactor variables (i.c., T, T, y§,0,Vh,0,Xco,  Yome ) as a
function of the reactor length (z). The temperature profile (Figure 2.9a) shows the
role of the sweep gas as a cooling agent which minimizes axial temperature profiles
in the reaction zone. The water concentration in the reaction zone remains very low
along the reactor, which confirms that the membrane reactor has reached its target,
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with an efficiency of water separation of 96% (Figure A5b). In addition, Figure
2.9a also shows that the peak of water concentration is near the reactor inlet,
reassuring the choice of the cocurrent operation. Since the reaction rate is the highest
in the beginning of the reactor, both heat and water production are maximum at this
point. Therefore, in this zone the highest driving force for both the heat and water
removal is required.

The pressure drops in the reaction zone are lower than 0.1 bar, under these
conditions (Figure A5a). This is important to minimize compression costs and to
prevent back-permeation of water at the end of the reactor. Figure 2.9b shows the
membrane reactor performance in terms of CO: conversion and DME yield and
demonstrate that this reactor configuration clearly overcomes the thermodynamic
limitation under these conditions. Indeed, CO: conversion and DME yield exceed
the thermodynamic values (i.e., best possible performance of a conventional packed
bed reactor) by 36.4% and 43.3%, respectively. This result proves that the selective
removal of water in a membrane reactor strongly enhances both the methanol
production and its dehydration to DME. Therefore, this work proves the use of
membrane reactor technology will be key to increase the feasibility of the direct
conversion of COz to DME.

Finally, Figure 2.10 underlines the importance of the heat management in this
process by comparing the temperature profiles considering the proposed heat
management solution with the corresponding temperature profile under adiabatic
conditions. The latter (Figure 2.10a) shows a first temperature rise of around 50-60
°C, followed by a dectease in temperature due to the thermodynamically favored
endothermic r-WGS reaction. This temperature profile leads to higher CO yield, as
shown in Figure 2.10b (i.e., CO yield increases from 0.05 to 0.43, whilst DME yield
decreases from 0.63 to 0.26).

Table 2.7. Optimal operating conditions for the membrane reactor

Operating condition Value
Reaction zone inlet temperature, T& (°C) 200
Permeation zone inlet temperature, Ty (°C) 185
Reaction zone pressure, PR (bar) 40
Pressure difference across the membrane, AP (bar) 5
Sweep gas to feed flow ratio, SW (-) 20
H»:CO; molar feed ratio (both zones) 3.5
Inlet volumetric flow of Hy in the reaction zone, ®f , (Nm?/h) 0.1
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Figure 2.9. Membrane reactor performance: a) temperature and water molar fraction
profiles; b) CO: conversion and DME yield profile, together with the respective
thermodynamic limitations (ngz and Y$yg), calculated at 40 bar and 200 °C. The membrane
reactor opetating conditions are reported in Table 2.7.
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Figure 2.10. Comparison of the membrane reactor performance in adiabatic conditions (red
lines) and with the heat management strategy proposed in this work (black lines), in terms
of: a) temperature profile in the reaction zone and b) DME yield (solid line) and CO yield
(dashed line). The membrane reactor operating conditions are reported in Table 2.7.

2.4 CONCLUSIONS

This work demonstrates the possibility of upgrading CO» for the production of
dimethyl ether, which is an attractive alternative fuel with low environmental impact.
A non-isothermal 1D phenomenological reactor model was developed to evaluate
and optimize the performance of a membrane reactor for this conversion, otherwise
limited by thermodynamic equilibrium and temperature gradients. The credibility of
the modeling approach was first assessed, by reproducing experimental results
retrieved from literature. Afterwards, the effect of the membrane properties on the
reactor performance was studied and a suitable membrane material for this process
was accordingly identified. It was concluded that the optimal membrane for this
process should have a water permeance of ca. 4107 mol-Pa'm?s-!, a water perm-
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selectivity of 50 towards Hz, 30 towards CO2 and CO, 10 towards methanol and a
very large perm-selectivity toward DME, so that its permeation may be neglected.
Among the available membrane materials, zeolites show suitable performance, but
may pose stability problems under reaction conditions. Carbon membranes, on the
other hand, seem promising.

The circulation of a sweep gas (SW=20) in cocurrent mode proved an effective
strategy to minimize hot spots and temperature gradients as well as to enhance water
removal while avoids water back permeation.

The importance of the heat integration in this process was underlined showing that
temperature gradients could enormously affect the product distribution, moving the
reactions toward undesired pathways (i.e., production of CO).

The SW ratio showed a higher influence on the reactor performances than the
gradient of the total pressure (AP), lowering the demands on the membrane
mechanical stability. Furthermore, these results proved that the integration of a
membrane for the selective water removal in a conventional packed bed reactor
lowers the H» requirement that maximizes the DME yield, which is key for the
industrial attractiveness of the process. With optimal membrane properties and
optimal process conditions, the membrane reactor technology shows its potential to
overcome the severe thermodynamic limitations of this process. In particular, if
96% of the water produced by the reactions is removed, the CO» conversion and
DME yield show an improvement of 36% and 43% ecach, with respect to a
conventional packed bed reactor working at the same operating conditions (i.e., 200

°C and 40 bar).

These results show the possibility to easily integrate this reactor in a conventional
process scheme, since the sweep gas does not require complex post processing units
in order to be recirculated in the permeation zone.

65

Chapter 2




CHAPTER 2

Appendix A

A.1 Physical properties and correlations

The density of the gaseous mixture is calculated via the Peng-Robinson EOS for
multicomponent system, by means of the Van der Waals mixing rule [73], based on
the critical properties of the species that were retrieved from literature [74]. The
binary interaction parameters for the second virial coefficient were derived with the
method described by Tarakad and Danner [75].

The viscosity of the gaseous mixture is calculated according to the Wilke method

[73]:

e (A1)
Hmix ; (2}‘=1yi¢ii>
2
B [1 t /Hj)1/2 + (M /Mj)1/4] (A.2)

! [8(1+M; /Mj)]l/2

Where p; and M; are the viscosity and molar mass of each species respectively [74].
The thermal conductivity of the gaseous mixture is calculated according to the
Wassiljewa equation [73]:

Amix = Lt(y‘) (A.3)
" ~ YAy (vilys)

The Ajj coefficients are calculated according to the Lindsday-Bromley relation [73]:

/
M <%>3/4 T+s]' 2} T+S; (A4)

Where S; and S are the Sutherland constant of pure gases, function of the boiling
temperature in normal conditions:

Si = 1'5Tbi (AS)

Sy =Fs /Sisj (A.6)

Sii = Si and Sl] = Sll (A7)

Where Fg is a correction factor, which is 0.735 if at least one of the two species is
polar, otherwise its value is 1.

The heat transfer coefficient (hy,;) describing the heat transfer due to convection
occurring across the gas film forming along the membrane surface area at the
permeation side is calculated according to the correlation by Dittus-Boelter [34] (Eq.
A.8) and to the Nusselt number (Nu) definition [76] (Eq. A.9):

o }‘mixNu (AS)

66



2. Direct conversion of CO» to DME in a PBMR

Nu = 0.023 Re%8pro4 (A.9)

Where Re and Pr are the Reynolds and Prandtl number respectively.

The heat transfer coefficient (hy,,) describing the heat transfer due to convection
occurring across the gas film forming along the membrane surface area at the
reaction side is calculated from according to the Li-Finlayson correlation for packed
beds [77]:
}‘mix Pr 13 A.10

o = 0.17-3 (ﬁ) Rel7? (A-10)
Where the Reynolds number (Rep) is calculated using the particle diameter (d,,) as
characteristic length.

The conductivity of the membrane was calculated assuming a two layer system: 1) a
support made of a-Al,Osand 2) a pyrolytic carbon layer having a thickness of the
order of 1 um. [74], [78]. The global heat transfer coefficient was calculated
according to Eq. A.11 where &, is the thickness of the carbon layer.

% Dmj 1l (Dmi+6c>+iln( Dmo ) Dmi 1 (A.11)

1
— —In
hmi 2 kc Dmi kAl Dmi + 6c Dmo hmo
A.2 Verification of the implementation of the kinetic model

In order to assure the correct implementation of the kinetic model, the simulation
results of Iliuta et al. [58] were reproduced. This validation is carried out by
reproducing the behavior of a traditional packed bed reactor. The reactor
characteristic and the operating conditions are summarized in Table Al

Table Al. Operating conditions used for the model verification

Parameter Value
Reactor diameter, D (m) 0.026
Catalyst bed length, L (m) 1
Catalyst density, p¢ (kg/m?) 1982
Catalyst bed porosity, € (-) 0.39
Reactor pressure, P (MPa) 5
Reactor temperature, T (°C) 250
Inlet superficial velocity, g (m/s) 0.05

Methanol and dimethyl ether selectivity are evaluated according to the following
equations:

S _ Fen,om (A.12)
CH;0H = % -
: Fcu,on + 2Fcu,0cH,
Fcn,ocH A.13
ScH,0cH, = 3 ( )

Fen,on + 2Fcn,ocH,
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Figure Al shows that the model implemented in this work matches with the
modeling results found in the literature.

1.00 0.25
2/CO —1(model)
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Figure Al. Influence of COx fraction on methanol (a) and DME (b) selectivity at different
H,/COx feed ratio. Black lines are detived from Iliuta et al. paper [58], red lines detive from
the model solution.

A.3 Variables profile at reactor entrance section

The variables profiles presented in Section 2.3.3 show a very steep curve at the
beginning of the reactor. As an example, the CO2 conversion appears to have a value
different from zero at the reactor inlet, which is not the case. A zoom in the first
section of the reactor shows the presence of a profile starting from zero (Figure
A2). The CO; conversion shows an initial linear behavior with a very high slope
which is related to the fast kinetic. At this very first stage, the membrane is not
playing any role, because the amount of water formed is still negligible. When the
water removal start to show its influence on the reactions, the CO, conversion is
interested by an inflection point, after which the slope of the profile decreases. The
decrease in the COs profile slope is due to the membrane effect: the water
permeation is slowing down the overall rate of the process, because of the alteration
of the equilibrium conditions.
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Figure A2. CO; conversion profile in the first reactor section for two different scale lengths
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A.4 Supplementary figures
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Figure A3. Effect of the SW ratio and the AP on the CO transmembrane flow, Fgo tmp (2)
and on methanol yield Yy 00, (b) obtained at Hz:CO» = 3; T = 473 K, all the other process
conditions ate reported in Table 2.4 — P3.
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Figure A4. Effect of the inlet sweep gas temperature on the temperature profile of the
reaction zone, in term of a) maximum temperature (Trx,,) and b) asymptotic temperature
(TE.4), SW = 20; AP = 5 bar; H»:CO» = 3.5; all the other process conditions are reported

en

in Table 2.4 — P3).
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Figure A5. Membrane reactor performance: a) total pressure profile in the reaction zone, b)
water removal profile (operating conditions reported in Table 2.7).
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CHAPTER 3

Vapor/gas separation through carbon molecular sieve
membranes (CMSM). Part I: boehmite-phenolic resin
membranes with improved hydrophilicity

Abstract

In this chapter, composite alumina carbon molecular sieve membranes (Al-CMSM)
were prepared from phenolic resin solutions loaded with hydrophilic boehmite (y-
AlO(OH)) nanosheets (0.4-1.4 wt % in solution) which, despite their partial
transformation to p-Al,Os nanosheets upon thermal decomposition of the resin,
improve the hydrophilicity and thus the adsorption-diffusion contribution of the
H>O permeation. The boehmite/p-AlO3 nanosheets showed no influence on the
pore size distribution of the membranes in the range of micropores, but they
increased the membrane hydrophilicity. Furthermore, the nanosheets introduce
defects in the carbon matrix, increasing the tortuosity of the active layer, as
concluded via phenomenological modeling and parametric fitting of the
experimental results. Consequently, the water permeability exhibits a maximum with
boehmite/alumina content of ca. 0.8 wt %, as the combined effects of increasing
hydrophilicity (which favor H>O permeability) and increasing thickness and
tortuosity (which hamper permeability) upon increasing boehmite loading. Similarly,
the HO/gas perm-selectivity is optimum at 1.2 wt % boehmite loading. The H2O
permeation mechanism was further investigated by modeling the mono- and multi-
layer adsorption and capillary condensation of water in microporous media, which
result as the main transport mechanisms in the explored conditions.

This chapter is based on the following paper:

Poto, S., Endepoel, J. G., Llosa-Tanco, M. A., Pacheco-Tanaka, D. A., Gallucci, F.,
& Neira d’Angelo, M. F. (2022). Vapor/gas separation through carbon molecular
sieve membranes: Experimental and theoretical investigation. Inzernational journal of
hydrogen energy, 47(21), 11385-11401.
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31 INTRODUCTION

In Chapter 2, carbon molecular sieve membranes (CMSM) were identified as a
potentially attractive candidate to selectively separate HoO from other gases in the
temperature conditions of the CO; hydrogenation processes (i.e., 200-400 °C) [1],
[2]. CMSMs offer superior thermo-chemical stability in humid and corrosive
environments, as well as an excellent balance between gas permeance and perm-
selectivity, especially with respect to polymeric membranes [3]—[5].

Carbon-based membranes have emerged as promising material for gas separation
processes, with a wide application spectrum, owing to the possibility to tailor the
properties of the carbon active layer and thus the governing permeation mechanism
to the desired separation. Most of these applications include the separation of
mixtures of (dry) gases such as COz, Nj, CHs4, H2 or mixtures of alkane/alkene at
relatively low temperature (i.e., 20-80 °C) [5], [6]-[7]. Only very recently they have
been demonstrated for water vapor permeation, at temperatures above 150 °C [8].
Carbon membranes derive from the pyrolysis of a thermoset polymeric precursor in
inert conditions or vacuum, typically deposited on the surface of a porous ceramic
support (e.g., a-AlO3). Depending on the conditions of the carbonization step (e.g.,
inert atmosphere, temperature, time and heating rate) and on the physicochemical
properties of the precursor, their porous structure and degree of
hydrophilicity/hydrophobicity can be tuned according to the desired application and
its perm-selectivity requirements. Forster et al. [8] have recently reported that an
increase in the carbonization temperature causes, on average, a shrinkage of the pore
size and, at the same time, a decrease in the affinity to water. Indeed, when the
temperature of carbonization is increased above 550 to 650 °C, most of the oxygen-
based groups are removed. Upon decomposition of the polymeric precursor, the
imperfections in the microcrystalline regions give rise to a porous structure which
typically includes ultra-micropores (i.e., dp < 0.6 nm) and micropores (i.e., 0.6 nm <
d, < 2 nm) [9], [10]. These are the main responsible for the separation mechanism
via molecular sieving (i.e., based on size exclusion) and adsorption diffusion (i.e.,
based on physicochemical differential interactions between diffusing species and the
membrane surface), respectively. Besides the pore structure and surface properties
of the membrane, the operating temperature is a well-known parameter that
determines the governing permeation mechanism. At higher temperatures,
corresponding to higher molecular energy level, the collisions of the molecules with
the pore walls are more frequent, slowing down the permeation process. This
phenomenon is known as Knudsen diffusion [11]. Therefore, higher temperatures
hinder the adsorption phenomena, and the transport mechanism inevitably turns
into the molecular sieving or Knudsen diffusion [10], [12]. For each diffusing gas, a
specific temperature exists at which the adsorption-diffusion is not relevant
anymore. Llosa et al. [13] reported that for temperatures above 180 °C and 80 °C,
the adsorption-diffusion mechanism for CO2 and CHy, respectively, is negligible. At
lower temperatures, on the other hand, when the adsorption-diffusion mechanism
is dominant, the diffusing species could reduce the effective pore size of the
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membranes, hindering the permeation of the non-diffusing species. Therefore, at
low temperatures, higher perm-selectivity values can be achieved.

While most of the literature on CMSM deals with (low temperature) gas separation
processes, which are usually described as a combination of molecular sieving and/or
adsorption-diffusion, very limited attention has been paid to the separation of
mixtures containing condensable species like H2O. In these cases, an additional
transport mechanism via viscous flow of capillary condensate [14]—[16] should be
contemplated. Indeed, for wetting systems (e.g., H2O on a hydrophilic solid surface)
the vapor pressure in a capillary is lower than that on a planar surface, as described
by the Kelvin’s equation [17]. Thus, water can condense in the micropores of the
carbon membranes with sufficient hydrophilicity. The viscous flow of capillary
condensate is usually slower than the multi- and mono-layer adsorption-diffusion
[14], explaining the observed maxima in permeability vs. surface hydrophilicity
reported by Forster et al. [8]. In other words, strengthening surface interactions (e.g.
by decreasing temperature or tunning surface hydrophilicity/hydrophobicity) does
not always render an increase in permeance. Whereas the existence of capillary
condensation may be considered as a nuisance (i.e. lower permeability), or even
complexing factor that obscures the interpretation of experimental data, it can surely
be used for the rational design of a selective membrane if propetly understood.
When looking at the case of water separation, a hydrophilic carbon membrane is an
obvious choice given their well-established affinity to H.O [42],[50]. Water is known
to adsorb on the pores already at ambient conditions, reducing the active pore size
of the membranes [19] and thereby increasing the separation factors between water
and other gases. Even more, when capillary condensation occurs, water could
partially or totally block the pores of the membranes, further suppressing the
permeation of the other gases. In processes involving CO; hydrogenation, where the
focus is the selective separation of H>O from reactants and products such as Ho,
COz and CO, this is for sure an enormous advantage.

In practical terms, the hydrophilicity of the carbon membrane can be tuned not only
by selecting the proper polymer precutsor and/or the conditions of the
catbonization step [8]. Besides, the incorporation of additives like silica [20] or
boehmite [21] in the carbon matrix have also proved to affect the gas permeability,
due to an alteration of the pore distribution. However, the effect of those fillers on
the membrane hydrophilicity has not been investigated yet. In this chapter, the effect
of the concentration of boehmite nanosheets into the CMSM on the hydrophilicity
of the membrane and its effect on water vapor permeation is assessed. For that
purpose, low-cost boehmite nanosheets were incorporated in phenolic resin-based
catbon membranes [21]—[23] for the separation of H2O vapor from H,, CO2 CO,
N2 and CHy4 at 150-250 °C and 2-5 bar. The effect of boehmite loading is studied by
correlating the membrane properties (assessed by gravimetric studies, morphological
analysis such as XRD and XPS, pore size measurement, and cross section analysis
via scanning electron microscopy) to performance data (i.e., permeabilities and
separation factors). To gain a deeper understanding of the properties-performance
correlations, the performance of these membranes is modelled using a
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phenomenological model describing the mono- and multi- layer adsorption and
capillary condensation of water in microporous media (i.e., transport mechanisms
involved in the permeation of pure H>O-vapor in microporous media). Thus, the
insights of this work are key for the rational design of selective CMSM membranes
for water vapor separation.

3.2 EXPERIMENTAL

3.2.1 Synthesis of Al-CMSMs

The tubular AI-CMSMs were prepared by the one-dip dry carbonization step
method [21]—[23]. The supports are tubular asymmetric a-AlOj3 tubes (ID: 7 mm,
OD: 10 mm), with a 100 nm average pore size, provided by Inopor®. The porous a-
AlbOj3 was attached to the dense ALOj3 by using a glass sealant at 1150 °C, leaving an
effective length for the deposition of the carbon layer of about 10 cm. One end was
closed with the glass seal, while the other end was connected to a standard Swagelok
component to allow the flow of the permeate. The supports were dip-coated using
a vacuum pump in a solution containing: 13% of Novolac resin, 0.6% of
ethylenediamine, 2.4% of formaldehyde, a variable amount of 10% aqueous
dispersion of boehmite nanosheets with a particle size of 8-20 nm (A/umisol provided
by Kawaken fine Chemicals) [21], in order to obtain a bochmite content from 0.4 to
1.4%, and N-methyl-2-pyrrolidone (NMP) as solvent. Table 3.1 reports the
boehmite content in the dipping solutions used for the preparation of the Al-
CMSMs. The membranes were dried at 90 °C overnight under continuous rotation
to guarantee a uniform and defect-free layer of the membrane precursor. Thereafter,
the membranes were carbonized at 500 °C in inert atmosphere (i.c., 200 mL-min-!
of N3). The remaining precursor solutions containing 0.8, 1.0 and 1.4 wt % of
boehmite nanosheets were used to prepare unsupported films for XRD and XPS
analysis. The solution was placed in a Teflon dish, dried at 90 °C and carbonized
following the same procedure described for the supported CMSM.

Table 3.1. Bochmite content in the dipping solutions used to prepate the AI-CMSMs

Membrane ID Boehmite (wt %)
CMO04 0.4
CMO6 0.6
CMO8 0.8
CM10 1.0
CM12 1.2
CM14 14
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3.2.2 Permeation experiments

The permeation experiments were carried out in a dedicated setup whose layout is
sketched in Figure 3.1. The setup is characterized by three main modules: I) the
feed module, II) the permeation module and III) the retentate/permeate analysis
module. Mass flow controllers from Brook Instruments were used to feed the
desired flow rate of Hz, CO2, CO, CH4 and N2 (mL-min). Demineralized water was
fed with a Controlled Evaporator Mixer (C.E.M.) from Bronkhorst, which requires
a minimum flow of N2 (= 150 mL-min) to allow the water to reach the reactor. To
avoid steam condensation, tracing was installed in all the lines and set at a
temperature of 200 °C. The permeation module consists of a stainless-steel vessel
where the membrane is connected from the top flange. The vessel is placed in an
electrical oven to keep isothermal conditions, controlling the temperature on the
outer surface of the membrane. The pressure in the permeate side (i.e., inner tube
of the membrane) was kept at 1 bar, while the pressure in the retentate side (i.e.,
outside of the membrane) was controlled with a back-pressure regulator from
Bronkhorst. The analysis module consists of two condensers, a film flow meter
(Hotiba Stec) and a micro-GC (Agilent Technologies). The two condensers use a
synthetic coolant supplied by the Lauda electric unit, to condense and collect liquid
water from the retentate and the permeate. Thereafter, the gas flow rate from the
permeate line was measured with the film flow meter and then injected to the micro-
GC for the analysis of the composition.
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Figure 3.1. Layout of the setup designed for the vapor-gas permeation experiments. The
setup is made up of three modules: 1) the feed module; 2) the permeation module and 3) the
analysis module. TC, FC and BPC represent the temperature, flow and back-pressure
controller. Similatly, TT, FT and PI represent the temperature, flow and pressure transmitters.
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Two types of permeation experiments were conducted for: a) pure gas or vapor
permeation and b) binary vapor/gas mixture permeation tests. The pure gas/vapor
permeation tests were performed at a temperature of 150-240 °C, a pressure gradient
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across the membrane of 3 bar and a total feed flow of 1 L'min-!. The membrane was
first exposed to a flux of water — containing 7.5 vol. % of Nz — for 40 minutes to
ensure steady state operation. The N2 permeated flow was measured, and the water
was collected and weighted from both the retentate and the permeate. The value of
the N2 flow was used to correct the partial pressures for a more accurate calculation
of the water permeance. Afterward, a pure gas flow (Ha, CO,, CO, CH4 or Ny) was
fed to the membrane section for the pure gas permeation measurement. A vapor
permeation test was repeated prior to each gas permeation test, to ensure the same
humidity condition of the membrane, which is a parameter that strongly affects the
permeation of the gases [24]. These experiments were performed to gain insight into
the effect of the alumina nanosheets on the permeation performance of the
membranes. Thereafter, the membrane which showed the best performance (i.e., a
trade-off of water permeance and water/gas selectivity) was selected for a deeper
investigation. In particular, the binaty vapor/gas mixture permeation tests wete
carried out to investigate the effect of the interaction between water and each gas on
the water/gas selectivity. These experiments were performed by feeding a mixture
of water vapor, Nz and another gas (Ha, CO2 and CO) with a concentration of 25-
75 vol. % of either Hz, CO; or CO, a total feed flow of 1 L-min!, a temperature of
150-240 °C and a pressute gradient of 3 bat. Lastly, the effect of the pressure
gradient across the membrane was investigated at a temperature of 150 °C, with pure
gas/vapor permeation tests. The water permeance (§y,0) and permeability (ky, o)
were determined according to Eq. 3.1 and Eq. 3.2, respectively.

WHZO,permeated ' ;v,lHZO (31)
At * APHzO " Am

#H,0 =

K0 = §u,0 ° | (3-2)
Where Wy, 0 permeated 15 the weight of the water collected from the permeate,
M,y n,0 18 its molecular weight, At indicates the time span of the permeation
experiment, Ay, and I are the membrane area and thickness, respectively. The oy, 0
accounts for the presence of Nz in the feed through the gradient of H,O partial
pressure across the membrane (APy,q ), defined as follows:

3.3

Al:)HZO = YH,0ret. * Prer. — YH,0,perm. * 1:’perm. (3-3)
The gas permeance (§;) was determined according to Eq. 3.4, with @; po.ry the
volumetric flow rate of the permeated gas, Vy, the standard molar volume of a gas
and AP, the gradient of partial pressure across the membrane.

Cbi,perm ' Vl’;ll (34)

A =
PiTTap A,

The ideal H2O/gas perm-selectivity (Sy,o/i) and the HoO/gas separation factors
(SFy,0,i) were determined according to Eq. 3.5 and Eq. 3.6, respectively.
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#u,0 3.5

SH20/i = 54: ( )

SF [PHZO/Pi]permeate (36)
o/i = T o1
1o/ [PHZO/Pi]retentate

In SFy,0,i, the partial pressure of water (Py,o) and of the gas species (P)) in the
retentate/ permeate, define the degree of separation.

3.2.3 Permporometry experiments

The pore size distribution of the membranes was measured via the permporometry
technique, developed by Tsuru et al. [25]. The basic principle of this technique is the
capillary condensation of a vapor and the corresponding pore blocking effect on the
permeation of a non-condensable gas. This method has the advantage of being able
to measure only the pores which are active for the permeation, discarding the dead-
end pores. Furthermore, this method does not requite the preparation of
unsupported carbon films, the pore size distribution could be measured directly on
the tubular carbon membranes, leading to a more realistic measurement. The
experiments were carried out in a second permeation apparatus, where liquid water
was injected via a syringe pump and vaporized in a heating coil; N2 was used as a
carrier gas. The vapor pressure of the stream was controlled by changing the N2 flow
rate. The N2 permeated flow was measured after removing the water with a cold
trap. The experiment was catried out at 70 °C and a AP across the membrane of 1
bat. Prior to each experiment, the membrane was dried at 150 °C under N flow,
until the N> permeance reached a stable value (i.e., corresponding to the membrane
dry condition). The different values of water vapor pressure (Py/Ps) imposed are
directly related to the pore radius (rp), through the Kelvin’s equation (Eq. 3.7).

RTln (P_) _ 9, 505 () 3.7)
Py Ip

Where v, 0 and 0 are the molar volume, surface tension and contact angle,
respectively. The contact angle was assumed to be 0°, which is a typical assumption
for the permporometry experiments [25]. When the vapor pressure of water was

stepwise increased, a lower N, permeance was measured and the pore size
distribution was derived.

3.2.4 Scanning electron microscopy (SEM)

A FEI Quanta scanning electron microscope was used to acquire images of the cross
section of the CMSMs, to derive the thickness of the carbon layer. EDX was used
to analyze the surface composition of the membranes qualitatively and to assess the
uniform distribution of the ALOs.
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3.2.5 X-Ray Diffraction (XRD) and X-Ray photoelectron spectroscopy
(XPS) measurements

X-ray diffraction (XRD) analysis in the 20 range 10-120° was performed on the
carbon membrane films samples with a MiniFlex600 machine (Rigak#) operating
with a Ni B-filtered Cu-Ko radiant at 40 kV and 30 mA and a scan step of 0.05°/min.
The diffraction peaks were identified according to the JCPDS database of reference
compounds. XPS measurements were performed using a Kratos AXIS Ultra
spectrometer, equipped with a monochromatic X-ray source, and a delay-line
detector (DLD). Spectra were obtained using an aluminum anode (Al
Ka=1486.6eV) operating at 150W. For both the XRD and XPS analyses, the carbon
membrane films corresponding to the ¢c-CMSM CMO08, CM10 and CM14 were
crushed to obtain a fine powder.

3.2.6  Gravimetric analysis

To assess the effect of the alumina content on the hydrophilicity of the CMSMs, the
amount of water adsorbed by the membranes was measured via a gravimetric
method. The carbon layer was scratched out from the tubular supported membrane
and placed in a glass vial which was then kept in a climate chamber at a relative
humidity of 99% at room temperature. The weight of the sample was recorded until
saturation.

33 THEORY OF WATER TRANSPORT THROUGH CMSM

The transport of condensable vapors through porous media is a complex
phenomenon involving capillary condensate flow, mono- and multi-layer
adsorption, simultaneously. Many efforts have been made in the past years to
theoretically describe the combination of these mechanisms [14], [15], [26], [27]. In
this work, the six flows model, developed by K. H. Lee and S. T. Hwang [15] was
implemented to describe the water vapor permeation through the carbon
membranes. The objective here was to qualitatively understand which transport
mechanism is predominant within the process conditions of this study and to find a
correlation with the boehmite/alumina content.

3.3.1 Model description

The permeation through porous media can be categorized in three different types:
gas flow, surface flow and capillary condensate flow. The detailed equations
describing these mechanisms are reported in Appendix B (section B.1).
Understanding the relative contribution of these flow types allows to gain insight on
the overall transport mechanisms of water vapor through the membrane. The
combination of those flows, together with the blocking effect exerted by the
adsorbed layer, give rise to six types of flows (Figure 3.2), which can be determined
according to: 1) the relative pressure of the permeate (P,) and the retentate (Py), with
respect to the capillary condensation pressure (Py) (Po/Py and Py /Py, respectively),
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and 2) the relative thickness of the adsorbed layer of water at the permeate (t,) and
retentate (t;) with respect to the pore radius (rp) (t/rp and t; /1y, respectively).

A detailed description of the phenomena is given below:

1.

F1: Combination of Knudsen molecular flow (gas flow) and surface flow in
the adsorbed phase.

F2: Capillary condensation occurs at the upstream end of the pore, but not
at the downstream end. On the downstream side, gas and adsorbate flows
take place.

Fs: The entire pore is filled with a capillary condensate.

Fy4: The upstream end of the pore is filled with bulk condensate. Somewhere
in the capillary (z) the meniscus is located. There is no curved interphase at
the upstream side, therefore no suction force.

Fs: The entire pore is filled with a capillary condensate. Capillary
condensation occurs at the downstream side. The upstream end of the pore
is filled with bulk condensate.

Fe: The entire pore is filled with a capillary condensate and no meniscus is
present in the pore.

Py P,
F P2<P1<P0
1
t2<t1<rp
F2 P2<P0<P1
tL<ti<r
Py <Py <Py
F;
t2<t1<rp
Py < Py < Py
Fa
t, < Iy <t
Py< Py <Py
Fs
tLh<r <ty
Fs ,<t<t

Figure 3.2. Six different flow modes of water permeation with their boundary conditions
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Table 3.2. Equations describing the flow rate of water through the pore according to each
flow mode.

Flow mode Equation
AP
1 Fy = AP(Q’g + QS)T
) Po— P
2 Fo = Ap(Qe + Q)7
ApKqpRT[(r—1t,)? /P, r—t,)> (P
3 P, = a pRT[( 21) ln(_1>_( 22) m(_z)
nz M rp PO rp PO
) Po— P
4 Fo=Ap(Qe + Q)7
A K4 pRT (r —t,)? (P
5 p, = pKapRT(r ~ ta) 1n(—2)
nz M ry Py
‘ = ApK4P, — P,
n 1

The equations in Table 3.2 represent the mathematical expressions to compute the
flow rate and the permeance according to each flow type. The physical properties
for water vapor were obtained with empirical correlations as a function of
temperature and pressure, as reported in Appendix B (section B.1). The pore size
distribution of the carbon membrane was accounted for with a fitted Gaussian
function and used to determine the total flow rate of the permeate through the
membrane as follows:

F, = f Oof(r)Frdr (3.8)

3.3.2 Model implementation

The six flows model was implemented in MATLAB R2019a. The pore size
distribution, the membrane characteristics and the physical properties of water are
given as input parameters. The boundary conditions (i.e., temperature and pressures)
are defined as those of the permeation experiments. The flow mode is defined for
each pore size (r) and Eq. 3.8 is used to calculate the total flow rate and water
permeance. Besides the total flow rate and permeance as a function of temperature
and pressure, the frequency of the flow modes is given as simulation output, to
determine the predominant transport mechanism at each condition. The pore
structure constant (Ky), the HyO film thickness at the retentate and permeate side
(e, ty and t, respectively) and the coefficient of resistance (C,) could not be
measured, so they were fitted comparing the model predictions against the
permeability data from the permeation experiments using a least-square non-linear
curve fitting algorithm (lsgenrvefi). Among these parameters, Kz and C, ate of
particular interest since they both reflect the resistance to the flow exerted by the
pore structure, which is believed to be influenced by the boehmite content.
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34 RESULTS AND DISCUSSION

3.4.1 Characterization of the alumina phase in the AI-CMSM

The XRD patterns of the carbon films prepared with 0.8, 1.0 and 1.4 wt % of
boehmite are reported in Figure 3.3a. The first and higher intensity peak appearing
at 22° for the three samples is related to carbon [28]. Besides that, two main broad
peaks appear for the 1.0 and 1.4 wt % boehmite samples at 20 value of 46° and 67°,
which are related to the diffraction of the (440) and (400) planes of p-AlLOs,
respectively [29]. On the contrary, boehmite (y-AlO(OH)) would have shown peaks
centered at 48° and 65°, corresponding to the diffraction of the (200) and (002)
planes. However, well dispersed and nanometer size boehmite sheets could not be
detected. Indeed, at 0.8 wt % of boehmite, no peaks are observed between 30° and
90°, suggesting that the boehmite/y-ALOj3 sheets are well dispersed in the carbon
matrix, avoiding the crystallization. As the concentration of boehmite increases,
clustering of the boehmite nano-sheets takes place, leading to their dehydration: 2
AIOOH < p-ALOs + H2O [30]. As a result, at higher concentration of boehmite,
the condensation of some of the nanosheets to the less hydrophilic y-Al,Oj3 takes
place, with no further phase-change towards the hydrophobic a-Al,O;. Figure 3.3b
displays the Al-region of the XPS pattern measured on the same carbon films. The
deconvolution of the Al 2p peak shows the presence of both boehmite (AIO(OH))
and aluminum oxide (ALO3), the former peak being expectedly more pronounced
for the 0.8 wt % sample than for the more concentrated samples. Note that the exact
amount of y~ALO; and/or boehmite in the carbon layer after the carbonization is
unknown, so these concentrations refer to the initial boehmite content in the dipping
solution. Furthermore, analyzing the Al and C region it can be confirmed that the
pyrolysis process did not cause any chemical interaction between them (Figure B4).
The elemental composition of the carbon films was determined from the XPS
spectra and the carbon to aluminum ratio is reported in Table 3.3.

---9-Al,0; --~1-AIOOH _ —=-7Al,0; ——1-AIOOH
| |
;:\ /\—/L\\—) P 1.4 wt.% ;
5 i i &
= i L 1.0 wt.% =
2 —— | 2
g ! ! 2
IS k | 0.8 wt.% =
3 ; 0.8 wt.%
L L Lol L I L o e K i LIRS,
10 20 30 40 50 60 70 80 90 80 79 78 77 76 75
20 (°) Binding Energy (eV)
@ ()

Figure 3.3. XRD pattern (a) and Al-region of the XPS pattern (b) of the carbon films
prepared from the dipping solution containing 0.8, 1.0 and 1.4 wt % boehmite.
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Table 3.3. Carbon to aluminum ratio of the carbon films determined via the XPS analysis

Initial boehmite content (wt %) C:Al (weight based)
0.8 27.6
1.0 21.5
1.4 17.6

3.4.2 Effect of alumina content on the Al-CMSMs hydrophilicity

Figure 3.4 shows the effect of the initial boechmite content on the hydrophilicity of
the carbon membranes studied by water adsorption experiments. The amount of
water adsorbed increases with the boehmite content up to a maximum around 1 wt
%, showing then a decrease for the membranes with 1.2 and 1.4 wt %. The
membranes without any p-AlOj3already show a degree of hydrophilicity, as reported
elsewhere [8], [18] and confirmed by the water adsorbed by the 0 wt % membrane
(Figure 3.4). When p-ALOs/p-AlO(OH) nanosheets are integrated in the carbon
matrix, it is clear that an optimum in concentration exists that maximizes the
properties of the membrane (i.e., hydrophilicity). Moreover, at higher boehmite
contents, the nanosheets of boehmite start to condensate (2 AIO(OH) <> p-ALO:;
+ H:O) rendering a less hydrophilic cluster. The probability of condensation
increases with the boehmite content. The presence of y-Al,Oj is confirmed by the
XRD (Figure 3.3a).
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Figure 3.4. Amount of water adsorbed from the Al-CMSMs as a function of their boehmite
content.

3.4.3 Effect of the alumina content on the AI-CMSM:s pore size distribution

The pore size distributions of the AI-CMSMs are reported in Figure 3.5, covering
the region of the micropores (i.e., 0.6 nm < d, < 2 nm), which are more important
for transport via adsorption-diffusion [9]. All the membranes have a very similar
pore size distribution, with the most frequent size being around 1 nm. Therefore, it
can be concluded that the alumina nanosheets do not affect the pore size distribution
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of the membranes in the pore size region covered by the N»-permporometry
technique (i.e. region of the micropores). However, information on the region of
ultra-micropores (i.e., d, < 0.6 nm), which are responsible of the molecular sieving
transport mechanism, are not available. Nevertheless, as later reported in Chapter 4,
a carbonization temperature of 500 °C lead to the formation of pores in the
micropore region, with negligible number of pores having d,, < 0.6 nm.
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Figure 3.5. Pore size distribution of the c-CMSMs with a boehmite content of 0.4 wt %o,
0.6 wt % and 0.8 wt % (a), and of 1.0 wt %, 1.2 wt % and 1.4 wt % (b) derived with the
permporometry technique.

3.4.4 Effect of the alumina content on the thickness of the carbon layer

Figure 3.6a and b show a representative cross section of the AI-CMSMs prepared
with 0.4 wt % and 1.4 wt % of boehmite, respectively, measured by SEM (see the
other samples in Appendix B, Figure B2). All the membranes were cut in different
positions to confirm the uniformity of the layer thickness along the membrane. The
average value of at least 3 measurements of the thickness of the composite layer is
reported as a function of the initial boehmite content in Figure 3.7. The Al-CMSMs
show a clear increase in the composite carbon-alumina layer thickness for larger
alumina content, although the difference between CM12 and CM14 appear
negligible. This is attributed to an increase of the viscosity of the dipping solution,
which is a well-known parameter affecting the CMSM layer thickness [31]. Indeed,
with higher boehmite concentration, the colloidal mixture becomes more viscous
[32]. Note that other parameters that could affect the layer thickens (i.e., the dipping
time, the porosity of the support) were kept constant.

Moreover, the sharper increase in the layer thickness at ca. 1.2 wt % of initial
boehmite concentration can be attributed to the rheological percolation of the
dipping solution containing the boehmite nanosheets (i.e., concentration beyond
which the bulk material shows a transition in physical properties, such as viscosity,
in this case) [33].

89

Chapter 3




CHAPTER 3

/2021 HV mode| cum | 10 ym
PW 10.0 kY _SE DA ¢ SEM QUANTA 30 FEQ

Figure 3.6. Thickness of the catbon layer of the CM04 (a) and CM14 (b) measured on the
images of the cross section of the membranes acquired with a FEI Quanta SEM.
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Figure 3.7. Thickness of the carbon layer of the CM04 (a) and CM14 (b) measured on the
images of the cross section of the membranes acquired with a FEI Quanta SEM.

3.4.5 Permeation results

The following section focuses on the results of the permeation experiments, first
with pure vapor/gas to analyze the effect of the alumina content on the performance
of all membranes, and later with binary mixtures, to understand the transport
phenomena across a selected membrane.

All the membranes tested in this study did not show any stability issue (ie.,
permeance did not change significantly over time). Therefore, no delamination
phenomena occur and the boehmite nanosheets did not affect the adherence of the
carbon layer to the alumina support.

90



3. CMSM for vapor/gas separation — Part |

Effect of the alumina nanosheets on the AI-CMSMs permeation properties

In the field of inorganic membranes, the permeation is frequently reported as
permeance (i.e., ; in mol m2s'Pa, defined as the permeated flux normalized by the
driving force). However, in this study the water permeation is expressed in
permeability (i.e., Ky,0= #n,0 1, in mol'm's'Pa), to standardize the permeation
properties with the membrane thickness, which increases with the boehmite content
as discussed earlier (Figure 3.7). Figure 3.8 shows the water permeability (i, o) as
a function of temperature and alumina content for the AI-CMSMs. Figure 3.8a
reveals that ky,o monotonically decreases with temperature for all membranes,
suggesting a strong contribution of capillary condensation and multi- and mono-
layer adsorption diffusion as the main transport mechanisms [14]. Although the
alumina content does not seem to influence the type of mechanism governing the
water transport, it does show a clear effect on the permeability, as stressed in Figure
3.8b. Regardless the operating temperature, a volcano plot for ky,o vs. initial
boehmite loading is observed, with a maximum in the ky,o at 0.8 wt % of initial
boehmite content. This trend is, to some extent, consistent with the hydrophilicity
trends reported in Figure 3.4, except that they are peaked at slightly different value
of boehmite contents (i.e., 0.8 wt % and 1 wt %, respectively). This suggests a strong
hydrophilicity-performance correlation, in line with the expectations for the
transport via adsorption-diffusion. Nevertheless, the buildup in boehmite content
from membrane CM08 to CM10, however, leads to a lower ky,o despite the increase
in the affinity to water. The higher hydrophilicity of these membranes increases the
possibility of condensation of water, which render the transport in the pores slower.
Note that the effects of layer thickness are normalized in the permeability data, and
no major changes were found in the pore size distribution of these membranes, at
least in the micropores region. Thus, it is hypothesized that the introduction of
boehmite/alumina into the carbon structute induces certain changes into the porous
structure of the selective layers (i.e., tortuosity and/or porosity), which may affect
the transport of water, particularly at higher boehmite loadings. These effects will be
further addressed in Section 3.4.6.
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Next, the study is extended to the permeation of other gases. Figure 3.9a shows the
permeability (logarithmic scale) as a function of the kinetic diameter of various gases
at different temperatures of permeation. The permeability is the highest for the
smallest gas (i.e., H2O) and then it decreases when the kinetic diameter of the gas
increases, which is clear indication of molecular sieving being the dominant
mechanism for the gas permeation. However, N2 shows the lowest permeability,
being N2 a molecule with very low polarizability and, as a consequence, not able to
interact electrostatically with the hydrophilic pores. On the contrary, CO, despite
being bigger that N», shows a higher permeability than N2, due to its polarity. For
gases other than water, the permeability increases with the temperature. Similar
results were obtained with the other membranes containing 0.4, 0.6, 1.0, 1.2 and 1.4
wt % of boehmite in the dipping solution. Figure 3.9b illustrates the permeability
as a function of the kinetic diameter at 200 °C of the AI-CMSM with various content
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of boehmite. It can be observed that for most of the gases the permeability follows
the order CM08> CM06> CM04> CM10 >CM14> CM12. Thus, similarly to water,
the gas permeability is also highest at 0.8 wt % of initial boehmite content.

Figure 3.10a, b, c, d and e report the ideal perm-selectivity as a function of
temperature and of the boehmite content of the pairs H.O/Hz, HO/COo,
H>O/Nz, H,O/CO and HO/CH,, respectively. The ideal perm-selectivity (H>O/1)
were determined by computing the ratio of the §y,0 and §; measured at the same
temperature and pressure gradient, within the single gas/vapor permeation
experiments. In line with the expectations, Sy, generally increases for larger gas
molecules, which is a clear indication of molecular sieving. However, the interactions
between the permeating gases with the water adsorbed in the pores explain
deviations with respect to the simple size-exclusion rationale. For example, the pair
H>O/N: shows the highest perm-selectivity (even higher than H,O/CO and
H>O/CO») despite the fact that N2 is not the largest molecule in this set, due to the
lack of polarity. Yet, its relatively large size and low water solubility explain the high
Sh,o/N,- On the other hand, the adsorption diffusion mechanism (i.e., direct gas
adsorption on the pore walls) in the temperature range is not likely to occur for each
of these gas, as reported in literature [13].

Figure 3.10 also shows that all membranes exhibit a decreasing perm-selectivity with
increasing temperature for each HoO/i pair. As it is typical of molecular sieving [34],
the permeability of all the gases (Figure B3) shows a slight increase with
temperature. Furthermore, when increasing the temperature, the water adsorbed in
the pores will gradually desorb, driving to an increase in the active pore size [18],
[19], [24]. However, even if §y,0 decreases with temperature, all the perm-selectivity
assume values greater than 1 at each experimental condition, being water the most
permeating species at all times.

Finally, the HoO/i perm-selectivity generally increases with the initial boehmite
content, displaying a maximum value around 1.2-1.4 wt %. With regards to water
permeance, it was shown that the boehmite content has a beneficial effect up to 0.8
wt % due to the strengthening of the water-surface interactions derived from the
higher number of hydrophilic sites, as previously established. Greater increase in
boehmite loading also leads to lower water permeability, similar to all the other gases,
but being water the smallest molecule as well as the most affine to the hydrophilic
carbon surface, water permeation is less affected by any obstruction imposed by the
structure of the carbon layer. It is also evident that the CM14 (i.e., the membrane
with largest boehmite content) does not follow the above trend. It appears that the
(limited) hydrophilicity of that sample (Figure 3.4) does not provide sufficient
water-surface interaction as compared to membranes with the slightly less boehmite,
due to the condensation reaction of the molecules of AIO(OH). Thus, it can be
concluded that the effect of the boehmite content on the hydrophilicity and on the
membrane structure counterbalance each other, resulting again in a maximum in the
perm-selectivity for the CM12 (i.e., 1.2 wt % of boehmite).
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Figure 3.10. Ideal HO/H; (a) H2O/CO: (b), H2O/N: (c), H:O/CO (d) and H>O/CHj (e)
perm-selectivity as a function of temperature for the AI-CMSMs prepared with different
amount of boehmite. Other experimental conditions: AP=3 bar, 1 L-min feed flow of gas.
Ideal perm-selectivity were calculated as the ratio of 4,0 and ; measured at the same
temperature and pressure gradient, within the single gas/vapor permeation expetiments.
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Investigation on the permeation properties of the CM08 membrane

The selection of a membrane material for a specific process always rises from a trade-
off between permeability and perm-selectivity [35]. In Chapter 2, given the proposed
membrane reactor configuration (i.e., circulation of CO.-Ha sweep-gas), it was
established that the most important parameter for this application is the @y, 0, so
the membrane selected here for a deeper investigation is the CMOS.

First, the effect of the gradient in total pressure (AP) on the H2O permeation and
perm-selectivity toward Ha, CO2 and CO (Figure 3.11) was investigated at constant
temperature (i.e., 150 °C). The oy, increases for larger AP, which confirms that
the viscous flow of capillary condensate is indeed a main contributor to the transport
mechanism. At the same time, §y,, §£co, and §¢o slightly decrease (i.e., nearly
constant) with AP (i.e., perm-selectivity increase with AP), leading again to the
conclusion that the contribution of the adsorption diffusion is negligible in these
conditions [37].

Secondly, the separation factors detived from the binary vapor/gas mixture tests
(i.e., H2O/H,, HoO/COzand HyO/CO real perm-selectivity), which are of interests
for the reactions involving CO; and H» with the production of water are analyzed.
Figure 3.12a, b and c show the effect of both temperature and gas/vapor
composition in the feed on the separation factors of the pair HoO/H> (SFy,o/u,),
H>O/CO:z (SFy,0/c0,) and HoO/CO (SFy,o/c0), respectively. The ideal perm-
selectivity values are also reported as dashed line, for comparison. Generally, an
increase in the gas composition (i.e., Hz, CO2 or CO) causes a drop in the SFy,
due to a lower driving force for the permeation of water (i.e., lower H>O partial
pressure gradient across the membrane). Furthermore, a lower separation factor can
be interpreted as a result of the “competition” of H2O and the second species for
the hydrophilic sites in the pores. Among all, the SFy, oy, is the lowest, as expected
considering the kinetic diameter of H>O and H» (i.e., 0.26 and 0.29 nm, respectively).
The interaction of a gas with water could be related with its solubility. However,
given the constrictions of the pores, water behaves like a molecule rather than bulk
watet. As a result, it is even more correct to discuss about electrostatic interactions,
which, anyway, follow the same trend as the solubility. Since H> shows a low
solubility in water, especially at these conditions (i.e., lower than 0.001 gy, /kgn,0),
and water has more affinity with the hydrophilic pores, water either blocks the pores
completely where capillary condensation occurs (i.e., in the smallest pores) or it
reduces the active pore size, where adsorption diffusion is predominant (i.e., in the
slightly larger pores). Therefore, the real SFy, oy, is in general higher than the ideal
H>O/H; perm-selectivity, while it also decreases with temperature. On the contrary,
the SFy,0/co, increases with temperature and is lower than the ideal perm-
selectivity, particularly at low temperature. This clearly suggests that the high CO»
solubility in water (ca. 0.5 gco,/kgn,o0) facilitates the permeation of CO, in the
presence of water. As the COz solubility in water (and thus the CO» permeation)
decreases with temperature the SFy,o,co, increases. Lastly, the SFy,q/co is again
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lower than the ideal HO/CO perm-selectivity, especially at higher temperature. This
behavior can be ascribed to the competitive interaction between CO and water.
Indeed, CO, due to its polarity, interacts more strongly with the pores of the
membrane than all the other gases considered. In addition, the relatively large size
of CO (i.e., 0.376 nm, similar to the size of ultra-micropores) can also cause pore
clogging, hindering permeance of water.
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Figure 3.11. Water permeance (a) and ideal HxO/i perm-selectivity (b) as a function of the
gradient in total pressure measured at 150 °C for the CM08 membrane.
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Figure 3.12. Separation factors of: a) the pair HoO/Ha (SFy,0,n,), b) H2O/CO2 (SFu,0/co0,)
and ¢) H2O/CO (SFy,0/c0) as a function of temperature and feed composition. The gradient
in total pressure was set at 3 bar and the total flow through the membrane was 1 L-minl. A
10 % of N2 was always included in the feed, to ensure the correct functioning of the C.E.M.
Dashed lines indicate the ideal perm-selectivity of each H2O/gas pair, measured at the same
temperatute.

3.4.6 Modeling results

In this section, the results obtained with the 6 flows model are discussed. The routine
that was implemented in MATLAB allowed to identify the flow mode at each pore
size, by imposing the boundary conditions at the upstream and downstream side of
the membrane pores (i.e., retentate and permeate) according to the experimental
conditions. Therefore, the transport mechanisms of pure water through the pores
and their relative occurrence are fully representative of the phenomena occurring at
the pore scale. However, parameter fitting on the permeability data was required to
derive properties of the complex porous structure of the carbon layer that could not
be determined experimentally. First, the water transport phenomena were addressed
by fitting the experimental data from the best performing membrane CM08. Figure
3.13a shows the result of the curve fitting of the £y, 0 as a function of temperature
(i.e., data reported in Figure 3.8). At 225 °C the curve shows a discontinuity which
is ascribed to the evaporation of part of the capillary condensate at the downstream
side (i.e., I2 contribution starts to be relevant). The picture is even clearer when
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looking at the frequency of each type of flow as a function of temperature (Figure
3.13b). In the lowest temperature range considered (i.e., 120 °C), the entire pore is
filled with a capillary condensate and the upstream end of the pore is filled with bulk
condensate. (i.e., Fs). As temperature increases from 120 °C to 180 °C, both potre
ends are in contact with the bulk vapor phase (i.e., there is no bulk phase
condensation of water at these conditions), while the entire pore remains filled with
capillary condensate (i.e., Is). In this case, the viscous flow of the capillary
condensate is the dominant transport mechanism. Further increase in temperature
above 180 °C shows a gradual transition to Fa, where capillary condensation only
occurs at the upstream end of the pore, while the downstream end contains gas and
water adsorbate. Further, the model predicts that for temperature higher than 260
°C, the multi-layer adsorption diffusion (F1) statts to contribute mote significantly,
although experimental validation beyond 240 °C is still required. The flow modes F4
and Fs do not show any contribution in the conditions explored experimentally (i.c.,
the conditions defining F4 and Fs reported in Figure 3.2 do not occur). However,
predictions beyond the range of the experimental conditions should be validated
experimentally. In particular, the model becomes less accurate in predicting the
transition to a different type of flow.

Next, the effect of pressure gradient across the membrane (AP) was assessed with
the same model. To that end, the §y,o data derived at different AP at 150 °C were
simulated (Figure 3.14). According to the experimental results, no significant
changes in the transport mechanism of water is observed in the range of pressure
gradients explored in this study (i.e., F'sis the dominant flow mode). Nevertheless,
the model predicts a change in the flow mode when increasing the AP beyond 3.8
bar, which is very close to the last experimental point. According to this prediction,
the oy, 0 is expected to reach an asymptotic value, which unfortunately could not
be validated experimentally due to the limitations of the experimental setup.
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Figure 3.13. Comparison of the modeling and experimental results of the @y,0 as a
function of temperature of the CM08 membrane (a). The experimental results reported in
Figure 3.8 (red circles) were fitted with the 6 flows model (continuous black line). The
frequency of occurrence of each flow mode as a function of temperature is also reported (b).
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Figure 3.14. Comparison of the modeling and experimental results of the §y,o as a function
of pressure of the CM08 membrane. The experimental results reported in Figure 3.11 (red
circles) were fitted with the 6 flows model (continuous black line). The dominant flow mode
is reported in the same figure: flow mode Fs converge into flow mode Fg at 3.8 bar (dashed
line).

Finally, the §y,0 data as a function of temperature of all the membranes were fitted
in the range 150 — 220 °C, where a semi-linear behavior of §y,o was identified
(details in Appendix B, section B.1). An interesting outcome of this curve fitting is
the value of Ky, which is a geometrical factor that describes the structure of the
porous system (L.e., larger K4 values represent a lower resistance to the transport).
In particular, K4 plays a role in the flow mode Is (see Table 3.2), which is the
dominant mechanism in the range of experimental conditions studied in this work.
Figure 3.15 shows the K4 values of all membranes tested, showing a linear inverse
correlation with the boehmite content of the carbon membranes. This result support
the hypothesis that the boehmite/alumina sheets alter the structure of the porous
system, generally hindering the permeation of most of the species as the alumina
content increases. Oftentimes this is explained by the formation of defects, which
are zones where the permeation decreases because the species are forced to increase
the path length (i.e., increase in tortuosity). This finding supports both the decrease
in the permeability of the membranes prepared with higher boehmite content and
the optimum found in the water permeability and perm-selectivity.

99

Chapter 3




CHAPTER 3

0»18

x
N

-
N

-

0.81

0.61

041

0.2}

Pore structure constant, Kd ()

o

0.4 0.6 0.8 1 1.2 1.4
Boehmite content (wt. %)
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3.5 CONCLUSIONS

In this chapter, several boehmite-phenolic resin composite carbon molecular sieve
membranes were prepared by the one dip-dry-carbonization step method, using
different boehmite content in the dipping solution (ranging from 0.4 to 1.4 wt %).
The membranes were tested in view of their application for the water-vapor
separation in membrane reactors. The hydrophilic boechmite nanosheets were used
as precursor of y-Al,Oj to increase the adsorption of water and increase its transport
mechanism by diffusion. We observed that the alumina content increases the
hydrophilicity of the AI-CMSM up to an optimum at c.a. 1.0 wt %. At larger
boehmite content the affinity to water decreases because: 1) the probability of
boehmite condensation to the less hydrophilic y-Al2Osis higher and 2) the C:Al ratio
corresponding to ca. 1.0 wt % of boehmite content maximizes the membrane
properties. The alumina content does not significantly affect the pore size
distribution of the membranes, at least in the region of micropores. On the other
hand, the cross section of the AI-CMSMs show an increase in the thickness of the
composite carbon layer for larger alumina content. The water permeability shows an
optimum with the initial boehmite content around 0.8 wt %, which is in line with
the increase in hydrophilicity of the membranes. For higher alumina content, the
Ky,o decreases. This decrease is induced both by a lower hydrophilicity and by a
difference in the structure of the porous system (i.e., tortuosity and/or potrosity),
introduced by the boehmite/alumina sheets. Similatly, the ideal perm-selectivity of
H>O towards Ha, CO,, CO, N2 and CHyincreases with the alumina content, showing
an optimum with the C:Al ratio (i.e., initial boehmite content of 1.2 wt %). Among
all the membranes tested in this study, the CMO08 (i.e., membrane prepared with
initial boehmite content of 0.8 wt %), show the best combination of H>O
permeability and perm-selectivity. A further investigation on the permeation
properties of this membranes revealed that the HO/gas interaction plays an
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important role in the vapor/gas separation. In particular, the CO; electrostatic
interaction with water causes lower separation factors when measured from feed
containing both H>O and CO; (i.e., real separation factor). On the contrary, the
SFh,0/n, shows higher values with respect to the corresponding ideal perm-
selectivity, due to the pore-blocking effect derived from the water capillary
condensation in the pores. Lastly, the SFy,/co displays values lower than the ideal
H>O/CO perm-selectivity, especially at higher temperature. This behavior was
ascribed to the possibility of CO to clog some of the pores where water has not yet
adsorbed or condensed. In general, it was found that the @y, and H2O/i selectivity
decrease with temperature and increase with AP. The 6 flows mode/ indicates that the
water vapor flow through the carbon pores transforms from capillary condensation
to multi- and monolayer surface flow combined with molecular Knudsen gas flow,
as temperature increases. When increasing the applied pressure difference at 150 °C,
the water vapor permeance becomes higher, indicating the role of capillary
condensation. However, the model predicts an asymptotic behavior for AP of
approximately 3.8 bar.

In conclusion, this work shows that the composite alumina supported CMSM are
promising material for the water separation from gaseous mixtures at relatively high
temperatures (i.e., 150-250 °C), conditions which are compatible with the CO>
conversion to methanol and/or DME reactions. Their separation performance,
combined with the high stability of these materials, make these membrane very good
candidates for their use in membrane reactors where the in in-situ removal of water
is required.
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Appendix B

B.1 Theory of water transport through the CMSM

The permeation through porous media can be categorized in three different types:
gas flow, surface flow and capillary condensate flow. Details are given in this section.

Gas flow

__ 8Nmp dP_ MG dP ®B.1)
3t,/2nM,,RT dx 21M,,RT dx

g =

Where the number of pores (N), the pore radius (rp) and tortuosity (t) are collected
in the cross-sectional area of the porous material (Ap) and the geometric constant
(Gy). Other parameters include the molecular weight (M,,), the ideal gas constant (R)
and the absolute temperature (T). The permeability of the porous material is
expressed as:

Q=g & B.2)
ApAP 21M,, RT

Where the thickness of the porous medium (Lp) and the pressure difference (AP) are
included. The reduction of the available pore space decreases the permeability. By
defining the gas phase permeability of blocked (Qg) and unblocked (Qg) media, a
relation can be derived from an adsorption isotherm:

G (e) o (=Y B3
Qg \I1p Ip
Where the effective pore radius (r,) represents the radius of a blocked pore of radius
r,, when a film of adsorbed layer of thickness t deposits on the pore walls.

Surface flow

= Zd
ST CpSe Ly ) pg TE

i ApRT papp fplxz B.4)
P2
Where Cy is the coefficient of resistance, S, specific surface area of the porous media
and p,pp the apparent density of the porous material. The corresponding
permeability is defined as follows:

_ Fsly RTpappﬁ (B.5)
ApAP  CSet? p

Qg
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Capillary condensate flow

The capillary condensation pressure (B) is calculated from the Kelvin equation:

R, (B _Zocoso (B.6)
My, P r,

The overall hydrostatic pressure (i.e., driving force for the capillary condensate flow),

is given by:

RT P, P RT P RT
AP, = p—[ln( m) - ln( perm)] = p—ln( ret > = L Apg B.7)
MW PS PS MW Pperm wam

Chapter 3

Where Py, is the mean gas pressure and Apg is the pressure difference across the
membrane. The transport of the capillary condensate can be regarded as a viscous
flow through the porous media. For this type of flow, Darcy’s equation can be
applied:

KodP _, Kq pRT dp, _  dy B3

nd = Py M,P,d  “°d

Where K, is the pore structure constant, 1) is the viscosity of the condensate and Q.
is the condensate permeability. This expression can only be used when the pore
space is completely filled with capillary condensate. When the film thickness of the
adsorbed layer is significant with respect to the pore size, a correction must be
applied. The effective capillary pressure can be obtained with an “adjusted” Kelvin
equation, as follows:

Fo=A,

(rp— )" pRT _ () (B.9)

P =
c.eff 2 P
r]Zl MW S

The effective capillary pressure drop becomes:

AP eff =

(p—ts)° " (Pret) (p-t) " (Pperm)] (B.10)

pRT
M,, r} 2 r} P,

As a consequence, the expression of the “actual” capillary condensate flow becomes:

Kq pRT
P MyPy

F.=A

2 2
(rp - tl) ] Pret (rp B tZ) 1 Pperm (Bl 1)
— 2 N P/ 2 n P

ry s ry s

Pore size distribution

The pore size distribution of the carbon membranes was fitted with an asymmetric
double sigmoidal function (Asym2Sig) described as follows:

_ A¢ 1 B.12)
fr) =fo+ Ip — I'pc + Wy /2 1= Ip —I'pe + Wi /2
1+ exp (—) exp (—)
A1) W3
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Where Ag, rpe, Wy, w, and wy are the parameters for the Asym?2Sig fitting.
Water adsorption isotherms

The amount of adsorbed water (X) is an important variable that contributes to the
surface flow of water. Water adsorption isotherms were obtained for 80, 150 and
250 °C for the CM08 membrane (the experimental data are not reported in this
work). The isotherms were fitted with the following equation (Langmuir-type
isotherm):

_abP'c (B.13)

~ 1+bpie

Where the parameters a, b and c fit the H>O adsorption (x) as a function of pressure
(P) at various temperatures. The experimental data, together with the curves
obtained from the fitting, are reported in Figure B1.

X

5 :
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4+ —150°C
——250°C
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E
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PIP, ()

Figure B1. Water adsorption isotherms at 70, 150 and 250 °C of the CMO08 represented by
Langmuir-type isotherm curves.

Estimation of water physical properties
The saturation vapor pressure of water is given by the following correlation:

P, = exp(A + BT~ + CIn(T) + DTE) (B.14)
The surface tension was calculated as follows:

c=A(1- Tr)B+CTr+DT§+ET§ (B-15)

Where T, is the dimensionless temperature, defined as T/T., with T, the critical
temperature of water (647.1 K). The vapor density of H2O was computed as follows:
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P
2_
by = RT

(B.16)
[, 4PB
1+ |1+ RTZ

B,=A+BT '+ CT3+DT8+ET™®

B.17)
The viscosity of vapor and liquid water were calculated according to Eq. B.18 and
B.19, respectively.
ATB
W= B.18) -
1+ T + ﬁ §
ATB o
mM=—< p (B.19) é’
1+ T + Tz

The parameters A, B, C, D and E, used in the correlations are reported in Table B1.
All the properties determined with these correlations were obtained in the S.I. units.

Table B1. Parameters used for the cotrelations of the physical properties of water.

Correlation A B C D E
P, 73.649 -7258.2 -7.3037 4.165-10¢ 2
o 0.1776 2.567 -3.3377 1.9699 -
B, 0.02222 -26.38 -1675-104 -3.89-101° 3.13-102
m -52.843 3703.6 5.866 -5.8810% 10
Ny 1.71-108 1.1146 - - -

B.2 Supplementary figures
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Figure B2. Thickness of the carbon layer of the CM04 (a), CMO06 (b), CMO08 (c), CM10 (d),
CM12 (e) and CM14 (d) measured on the images of the cross section of the membranes
acquired with a FEI Quanta scanning electron microscope.
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Figure B3. Pure gas permeability of Hz (a), CO2 (b), CO (c), CH4 (d) and N> (e) as a function
of the temperature of permeation for the AI-CMSMs prepared with different amount of
boehmite. Other experimental conditions: AP=3 bar, 1 L-min"! feed flow of pure gas.

The complete XPS spectra of the carbon films prepared with 0.8, 1.0 and 1.4 wt %
of boehmite are reported in Figure B4, together with the spectra recorder on the
carbon film prepared with 0.8 wt % of boehmite, prior to the carbonization, to
confirm the absence of any chemical interaction between C and Al during the
carbonization.
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XPS Survey
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Figure B4. XPS spectra of the carbon film prepared with 1.0 wt% of boehmite (CM10), 1.4
wt% (CM14), 0.8 wt % (CM-CARB) and the corresponding sample prior to the carbonization
(CM-NOCARB).

B.3 Permporometry setup

The setup used for the permporometry measurement was developed at the
Sustainable Process Engineering group (SPE) of Eindhoven University of
Technology (TU/e). The flow diagram of the setup is reported in Figure B5. The
N gas feed is separated in two lines: 1) the dry gas feed and 2) the “humidified” gas
feed, which is meant to push the water in the reactor. The two flows are regulated
by two distinct mass flow controller. Liquid demineralized water is injected with a
syringe pump to an evaporator cell and pushed to the membrane section via a small
N flow (i.e., the “humidified” gas feed). The membrane under study is placed in a
double shell reactor tube which is in turn placed in an electrically heated oven. The
permeate is cooled down in a condenser, to remove the H20 vapor. The nitrogen
permeate is measured with a film flow meter (HoribaStec). By adjusting the water
flow rate from the syringe pump, the relative humidity can be altered. The nitrogen
permeation was measured at each relative humidity. When both the water adsorption
and desorption is measured with the permporometry setup, the thickness of the
adsorbed water layer can be determined with the hysteresis method.
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Figure B5. Flow diagram of the permporometry setup developed at SPE group of TU/e
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CHAPTER 4

Vapor/gas separation through carbon molecular sieve
membranes (CMSM). Part II: effect of the carbonization
temperature

Abstract

This chapter assesses the effect of the catbonization temperature (450-750 °C) on
the petformance of supported CMSM in terms of vapor/gas separation, in
correlation with changes in their surface functionality and porous structure. FTIR
spectra showed that the nature of the functional groups changes with the evolution
of the carbonization step, leading to a gradual loss in hydrophilicity (i.e., OH
stretching disappears at Ty = 600 °C). The extent of water adsorption displays an
optimum at T, of 500 °C, with the hydrophilicity decreasing for higher
carbonization temperature. However, the pore size distribution was found to
strongly influence the water permeance more than the hydrophilicity. At all Teap,
adsorption-diffusion (AD) is the dominant transport mechanisms. However, as soon
as ultra-micropores appeatr (Teap: 600-700 °C) molecular sieving (MS) contributes
to an increase in the water permeance, despite a loss in hydrophilicity. At Tearp = 750
°C, MS pores disappear, causing a drop in the water permeance. Finally, similarly to
water, the permeance of different gases (N2, Ha, CO, COy) is mostly affected by the
pore size distribution, with MS being the dominant mechanism over the AD, except
for CO». However, the extent and mechanism of gas permeation drastically change
as a function of the water content in the feed, indicating that gas/vapor molecules
need to compete to access the pores of the membranes.

This chapter is based on the following paper:

Poto, S., Aguirre, A., Huigh, F., Llosa-Tanco, M. A., Pacheco-Tanaka, D. A.,
Gallucci, F., & Neira d’Angelo, M. F. (2023). Carbon molecular sieve membranes
for water separation in CO; hydrogenation reactions: effect of the carbonization
temperature. Journal of Membrane Science, 677, 121613.
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41 INTRODUCTION

A very important and easy-to-tune parameter in the synthesis procedure of carbon
membranes is the carbonization temperature (Te,pp). Jones and Koros stated that the
expansion of the gaseous products of the pyrolysis step causes a rearrangement of
the polymeric structure, which corresponds to the formation of the porous system
[1]. Fuertes et al. reported the gradual transformation of the porous polymer-carbon
structure into dense carbon upon increasing the carbonization temperature [2], [3].
They observed that micropores starts forming at 500 °C. At temperature of 600-700
°C, more potes appear, and some of the previously formed micropores tend to
shrink due to sintering, leading to the formation of ultra-micropores. This shift in
the nature of the membrane pores led to higher permeability, as well as to lower
perm-selectivity for a given separation. When the carbonization temperature is
increased even further (i.e., 850-950 °C), the density of the carbon increases due to
the graphitization, leading again to lower permeability and higher selectivity [4].

The effect of the carbonization temperature on the pore size distribution of
Novolac-based CMSM was studied more recently by Llosa et al. [5]. They found that
the membrane carbonized at 450 °C reveals a small number of pores in the range
0.4-0.9 nm, with an average pore size at 0.65 nm. Increasing the Ty to 550 °C
results in a larger number of pores and a pore size distribution still centered at 0.65
nm, but narrower (0.45-0.8 nm). The most significant changes occur at 600-650 °C
where the number of pores increases significantly with a bi-disperse pore size
distribution showing pores both in the MS and AD region. Increasing the Te,y, even
further (i.e., 700-750 °C), the porous system starts to shtink starting from the pores
in the AD region. Thus, the membrane carbonized at 750 °C displays less pores,
mostly in the MS region (0.35-0.45 nm).

The carbonization temperature has also been proven to affect the hydrophilicity of
the membranes. Forster et al. [6] recently reported that when Te,y, increases above
600 °C, most of the oxygen-based groups are removed, leading to a monotonic
decrease of the membrane interaction with the water. However, their analysis did
not cover the low carbonization temperature region, where most of the changes in
the surface functionalities are expected to occur. Thus, this chapter proposes a
detailed investigation of the changes in terms of surface chemistry, hydrophilicity
and pore size distribution that phenolic-formaldehyde resin CMSMs undergo with
the progression of the carbonization temperatures in the range 450-750 °C. FTIR
analysis is used to identify the transformation of the functional groups of the carbon
membrane, to gain insights into the pyrolysis mechanism. Thereafter, in-situ FTIR
analysis during water adsorption/desorption steps is used to assess the sutface
interaction with water, as well as the membrane hydrophilicity, as a function of the
carbonization temperature. Thermogravimetric analysis is then performed to assess
the membrane affinity to different type of gases (i.e., CO2, CO and Hy). Finally,
permeation tests cartied out in the range 150-250 °C with H2O, methanol, Hz, Na,
COz and CO are used to understand the interplay of the hydrophilicity and pore size
distribution on the membrane performance. The objective of this chapter is to assess
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how the carbonization temperature affects the vapor/gas separation performance of
CMSMs, in view of their application in membrane reactors for the in-situ removal
of water.

4.2 EXPERIMENTAL

4.2.1 Synthesis of Al-CMSMs

The tubular supported AI-CMSMs were synthesized via the exact same procedure
reported in Chapter 3. Tubular asymmetric a-AlO3 tubes (ID: 7 mm, OD: 10 mm),
with a 100 nm average pore size from Inopor® were used as support. The dipping
solution was prepared with: 13 wt % of Novolac resin, 0.6 wt % of ethylenediamine,
2.4 wt % of formaldehyde, 0.8 wt % of 10 wt % aqueous dispersion of boehmite
nanosheets with a particle size of 8-20 nm (A/umiso/ provided by Kawaken fine
Chemicals) and N-methyl-2-pyrrolidone (NMP) as solvent. The Al-CMSM
membranes were dried at 90 °C and carbonized in a temperature range from 450 to
750 °C, following the procedure reported Chapter 3. The remaining precursor
solution was used to prepare unsupported membrane films carbonized at different
temperatures as the AI-CMSMs, with the same procedure used for the supported
membranes.

4.2.2 FTIR analysis

The CMSM surface of as prepared and treated samples was studied by DRIFT
spectroscopy to identify the main functional groups which are relevant for the
permeation. The adsorption of water was studied using a Harrick DRIFT cell. Time-
resolved infrared spectra (up to 1 spectrum/0.39 s) were recorded at a resolution of
4 cm! using an FTIR spectrometer (Thermo iS50 with a cryogenic MCT detector).
The COz and water vapour contributions from the atmosphere to the spectra were
eliminated by purging continuously with purified air (Parker Balston FTIR purge gas
generator) on the bench of the spectrometer and the optical path. The gas flow was
regulated using mass flow meters (Cole-Parmer). The entrance of the gases was
controlled by a flow-through 10-ways valve electronically actuated (Vici-Valco)
synchronized with the FTIR. The gas composition at the exit of the cell was analyzed
by mass spectrometry (Prisma QMG220, Pfeiffer). Water (2%) in He was obtained
from a gas saturator filled with pure water immerse into a thermostatic bath.

The cell was filled with 50 mg of unsupported carbon membrane sample. Before the
expetiments, the sample was treated by flowing He (300 °C, 1 h, 5 °C/min), and
then cooling down to 30 °C. The adsorption of water (2%)/He (50 mL/min) was
petformed at 30 °C. Next, the desorption of water was studied by changing from
2% water to pure He. After the adsorption/desorption experiments, the samples
were heated to 300 °C (5 °C/min).
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4.2.3 Thermogravimetric analysis

The adsorption of gases (CO,, Hz and CO) by the membrane was studied via
thermogravimetric analysis (TGA). The TGA setup (Figure 4.1) consists of a
microbalance (MK2-5 M from CI-Precision) with a sensitivity of 1 ug. The balance
(M) is kept at a constant temperature and in an inert atmosphere (i.e., N2 is fed at
0.5 L/min via FC101) to prevent any contamination from reactive gases. The
balance is attached via a platinum wire to a porous Al,O3 basket (0.5 cm d x 1.5 cm
1) in which the solid sample can be loaded. The basket is then placed in a ceramic
tube (ID 15 mm) which is then surrounded by a stainless-steel vessel and heated via
an electric oven. The oven is controlled via thermocouple placed in the proximity of
the basket, to guarantee a stable and isothermal operation. The relevant gases are fed
from gas cylinders by means of mass flow controllers (FC), while pressure is
regulated using a back pressure regulator (BPC) from Bronkhorst. To conduct the
analysis ca. 40 mg of unsupported carbon membrane sample were loaded into the
basket and placed in the TGA system. Prior to any analysis, a pre-treatment was
carried out to remove any adsorbed water from the atmosphere: the sample was
heated up to 300 °C, at ambient pressure, under a N2 flow of 0.5 L./min and kept at
these conditions for 1h [7]. After the pre-treatment, the system was cooled down to
the desired temperature (i.e., 200 °C) under N> flow. Afterwards, the analysis gas
was fed at flow rate of 0.5 L./min and the pressure was increased progressively up
to 10 bar. An equilibration time of 40 min at each pressure point was guaranteed to
allow the sample to achieve stable weight due to the adsorption phenomena. Blank
tests were carried out with the empty basket using the same procedure described
above, to correct for the buoyance forces exerted by the feeding gases on the basket.
During the analysis the weight of the sample and basket was recorded every 5s.
However, only steady state values (wgs) were used to determine the weight variation
(Aw) related to the adsorption phenomena, as reported in Eq. 4.1-4.2.

Aw = wg, — Wy 4.1

AWsample - A‘Nblank

-100 % 4.2)

AWeorrected =
Wsample,o

Where wy is the initial weight of either the sample (after pre-treatment) or the empty
basket and AW, qrrecteq 1S the net percentage weight increase of the sample due to
the adsorption of gases.
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N —»&—» Vent
@ BPC-101
DL

- N (%]
@ 24 o
o o o
N2 CO2 H2 co

Figure 4.1. Schematic representation of the TGA setup, where FC, PI, T1, TC indicates mass
flow controller, pressure meters, temperature indicators and temperature controllers,
respectively. BPC represents the back pressure regulator, M the micro-scale and W the weight
indicator.

4.2.4 Permeation experiments

The permeation experiments were carried out in a dedicated setup already described
in Chapter 3, along with the adopted experimental procedure. All the permeation
experiments were catried out at a temperature of 150-250 °C, a pressure gradient
across the membrane (AP) of 3 bar and a total feed flow of 1 L-min-!.

To derive the water and methanol permeance, the membrane was exposed to a flux
of either water or methanol, containing 7.5 vol. % of Ny, as required by the
Controlled Evaporator Mixer (C.E.M.). After 40 min (i.e., steady state), the N
permeated flow was measured, and the water/methanol was collected and weighted
from both the retentate and the permeate side.

The permeance of the gases (i.e., N2, CO2, Hz and CO) was measured in three
different conditions: 1) through a humid membrane; 2) through a dry membrane; 3)
exposing the membrane to a binary mixture of water and each gas. In the first case,
a pure gas flow was fed to the membrane which was prior exposed to water vapor
at the same temperature and pressure of the permeation experiment. In the second
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case, the membrane was first dried overnight at 250 °C under N; flow to remove all
the adsorbed water and then exposed to a pure gas flow. In the third case, an
equimolar mixture of water vapor and one of the gases of interest was fed to the
membrane, with a total feed flow of 1 L'min!. After 40 min, as in the vapor
permeation tests, the gas permeated flow was measured and the water was
condensed, collected and weighted from both the permeate and retentate side.

The vapor and gas permeances were calculated as reported in Chapter 3.

4.2.5 Calculation of the activation energy

Adsorption-diffusion and molecular sieving are activated phenomena. As such, they
show an exponential dependence with temperature, which is regulated by an
activation energy. The permeance due to these mechanisms is commonly described
by an Arrhenius-type equation, as follows:

D‘i:) _(Eact,i - Eads,i)
Hi= ﬁexp [T] (4'3)

Where D) is the diffusion coefficient, E,; is the activation energy of either
molecular sieving or adsorption diffusion, and E,qg; is the energy of adsorption.
This equation is used to identify and describe the prevailing transport mechanism,
looking at the trend of the permeation flux as a function of temperature. In case of
molecular sieving, the activation energy for the gas to diffuse into the ultra-
micropores is always higher than its adsorption energy, thus leading to an overall
activation energy which is positive (E;ctmsi — Eagsi > 0). As a result, transport due
to molecular sieving is enhanced for increasing temperature. Conversely, the
difference in activation and adsorption energy for adsorption-diffusion can be either
negative or positive. For gases with high adsorption energy, E;ctapi — Eagsi < 0,
meaning that an increase in temperature will result in a decrease in the permeation
flux. On the contrary, if the activation energy is lower than the energy for the
adsorption-diffusion, the overall term will become positive and an increase in
temperature will result in an increase in the permeation flux, as with the molecular

sieving [8]. The difference (Eact’i - Eads‘i) will be referred as apparent activation

app
energy (Eact,i

data as a function of the operating temperature.

), which is a parameter that can be determined fitting the permeance

4.3 RESULTS AND DISCUSSION

4.3.1 Insights into the catbonization mechanism and the effect of the
carbonization temperature on the CMSM surface chemistry

The FTIR spectra of the as prepared CMSM samples obtained after thermal
treatment (i.e., removal of the adsorbed water) is reported in Figure 4.2. All the
peaks, together with their assignation, are summarized in Table 4.1.
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Figure 4.2. FTIR spectra of the as prepared CMSM samples after thermal treatment
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Table 4.1. Overview of peak identification of the FTIR samples of the as-prepared CMSM
samples carbonized at various temperatures (s = strong, m = medium, w = weak and vw =

very weak signal).
v(CH v(CH
Teu (°C)  v(OH) af'omz)ltic va(CH) v(CH) agdehzfde
3650 m 2900 m
450 3545 s ‘;58‘2‘; z ;Zég z 2825 m 2730
3440 's, b 2730 w
3650 s 2900 m
500 3545 s gg;g s ;gg s 2820 m 2735
3450 s, b s s 2735 w
3650 s 2900 m
550 3545 s gg;g s ;gég s 2820 w 2735
3450's, b s s 2735 vw
3055 m
600 . 3025 m . . -
650 : . - - -
700 § . - - -
2958 w
750 : - 2927 w : .
2855 w
o _ substituted  v(C-C) diphenyl
T (°C) - v(C=0) benzene aromatic and 5(CH) ether
rin of CH, tructur:
g and CH,  °Tvetwre
1616 s 1485 s 1300-1200 s
450 1705's 17001730 m - sos 1440 s (1270 & 1225)
1605 s 1460 s 1300-1200 s
500 1705's 17001730 m - sos ) 1430 s (1270 & 1225)
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1605 s 1442 1300-1200 s
530 17055 17001730 m - sos ) 1430 s (1270 & 1225)
1624 1440 w
600 1705 s 1700-1730 m s 1400-1300 1270 m
1585 m
W
1440 w
1600 s
650 - . 1585 m 1400-1300 1270 m
m
1600 m
700 - - 1585 w 1001330
W
1600 m
%0 ) ) 1585 o 1400-1350
W
Benzene
Tea (°C)  8(OH) ting
substitution
1200- 888's, 823 s,
40 1000 760 s
883's, 820 s,
S0 ) 754 s
880's, 820 s,
550 ) 756's
893 m, 820
600 ) w, 760 w
885 m, 820
630 ) w, 760 w
700 - 900 w
750 - -

In the region 3700-3100 cm!, the OH stretching signals (v(OH)) for the samples
carbonized at 450, 500 and 550 °C, atre observed. The samples treated at 600 °C and
higher temperatures do not show any signal in this band, which is in agreement with
literature [9] (see integrated OH bands in Figure 4.3a). Indeed, Morterra et al.
reported that for temperatures above 550 °C, the resin undergoes drastic changes.
In this band, we can identify three main peaks: 1) a shoulder at 3650 cm! which
corresponds to free or unbridged OH groups [10], 2) a stronger peak at 3545 cm!
that corresponds to the bridged OH groups from the phenols of the Novolac resin
[9], [11], [12] and 3) a strong and broad polymeric OH peak at 3450 cm! that is
ascribed to the intense intra-molecular OH-OH interactions [9], [10]. When
comparing the area of the bridged and free OH band with those of the bridged and
polymeric band, via the integrated OHsss0/OHseso and OHjzsso/ OHasso (Figure
4.3b) ratios, respectively, it is clear that increasing the carbonization temperature
from 450 to 550 °C causes better polymer crosslinking via condensation reactions
of the OH groups of the phenol rings, forming diphenyl ethers (Eq. 4.4).
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QOH + QOH . QOQ T H0 (44

As a result, some of the bridged OH groups of the phenols disappear due to the
formation of the ether linkage. At the same time, this reaction could lead to the
formation of more free OH (i.e., water produced via condensation), which explains
the faster decrease in the ratio OHjsss0/ OHjses0. Furthermore, the condensation
reaction seems to influence the intra-molecular interaction between the remaining
phenol groups to a lesser extent, evidenced by the little influence of carbonization
temperature on the OHssso/ OHsaso ratio. This could also indicate an increase in
crosslinking via intra-molecular interaction [12].

‘TE 0.20 ; \0,1.30 3550/3650 3.80 é,
S T*3450 cm 5 < 3550/3450 5
<016t 1 ©1.25 350 ©
2 —*—3550 cm > >
5 = =
So12} ——3650 cm’™’ 2120 320 2
£ b 2

=1.15 2.90 =

2o0.08} E E
ﬁ ©1.10 2.60 o
20.04% 3 3
g T 1.05 230 ©
2 1 g g
£o.00 ] £1.00 2.00 £

450 500 550 600 650 700 750 450 500 550
Carbonization temperature (°C) Carbonization temperature (°C)
@ (b)

Figure 4.3. Integrated OH3450, OHsss0 and  OHagso (a) and OH3550/OH365U and
OHsss0/ OH3z4s0 integrated bands ratio (b) as a function of the carbonization temperature,
derived from the spectra in Figure 4.2.

In the region 3100-2700 cm ! the CH stretching vibration (v(CH)) is observed. First,
the sample carbonized at 450 °C displays two clear aromatic CH bands at 3047 and
3025 cm'. With the increase in the pyrolysis temperature, the first band shifts to
higher wavenumbers (i.e., 3055 for the sample carbonized at 600-650 °C), and the
intensity of both bands gradually decreases to medium (600 °C) and weak (650 °C),
to completely disappear for temperatures above 650 °C. However, the aliphatic CH
bands, typically found in the region below 3000 cm-!, disappear first. In the aliphatic
region, the CHs, CHz and aldehyde (C=OH) stretching can be identified. The CHs
stretching bands (2920 and 2860 cm) corresponding to the v, (CH) lose their
intensity with the carbonization temperature. As a matter of fact, Trick et al. [12]
proved that the aliphatic bands first increase and then decrease with the progression
of the pyrolysis reactions. This is linked to the transformation that the resin
undergoes especially in the region 500-520 °C, where Morterra et al. suggests the
scheme reported in Eq. 4.5 [9]. However, all the bands related to the aliphatic CH
groups completely disappear at 600 °C, which is in agreement with literature [9].
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OH
OH * 2 OH — H + H,0
C (4.5)
H, H i ~
/

The relative signal intensity and position change with the pyrolysis temperature.
Figure 4.4 shows the CHuyi/CHaomade ratio as function of the carbonization
temperature, from which is clear that the relative amount of alkyl CH decreases with
temperature much faster than the aromatic bands. At temperatures above 650 °C,
no CH stretching vibrations are observed.

N
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1
alkyl 10.9

H )
aromatic 10.8

N
o
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Figure 4.4. Integrated CHuky and CHaomade bands on the left and CHaiky/ CHaromatic
integrated band ratio as a function of the carbonization temperature, derived from the spectra
in Figure 4.2.

An additional signal is observed at 2730 cm™! for temperatures below 550 °C. This
signal can be assigned to the v(CH) of aldehyde-like species [(R-C=0)-H].

The region between 2000 and 1000 cm! corresponds to the fingerprint region of
this material, where a series of intense, overlapped and broad bands are observed.
The peak at 1705 cm! corresponds to the stretching of the carbonyl group v(C=0).
The base location of this peak is 1720 cm!, but the presence of benzene rings in the
surrounding molecular structure increases the dipolar character of the C=0, leading
to a shift of ca. 20 cm! towards lower wavenumbers [12]. The v(C=0) is not
observed for temperature higher than 600 °C.

The C-C stretching of aromatic rings are observed at ca. 1600, 1585 and 1450 cm'.
These peaks decrease their intensity at higher carbonization temperatures. On the
other hand, the CH deformation (8(CH)) of aliphatic bridges CH3 and CH:> are
observed at 1485 and 1400 cm-!. A shift in the peak position, as well as a change in
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weaker adjacent peaks are indications of changes in the nature of the aliphatic
bridges [12].

The region 1300-1200 cm! is assigned to the stretching of the C-O bond (v(CO)).
In particular, two signals at 1270 and 1225 cm! are observed, which indicate the C-
O stretching of the diphenyl ether structure, formed via condensation reaction of
two phenol groups (see Eq. 4.4), and of the phenol group, respectively. These signals
are absent for the samples carbonized at temperatutes higher than 650 °C.

For all the signals in the fingerprint region, their intensity increases with pyrolysis
temperature from 450 to 500 °C and then decrease. At temperatures higher than 650
°C only a broad signal at 1350 cm™! remains, which is also indicative of the §(CH) of
aliphatic bridges.

Finally, signals in the range of 1200-1000 represents bending of the OH group
(8(OH)), which are only visible for the sample catbonized at 450 °C, in line with
what we observed with the OH stretching v(OH).

The range below 1000 cm! is usually attributed to the deformation of the CH bond
(8(CH)) of aromatics. Changes in the relative heights of these peaks indicate ring
substitution reactions, in line with what found in literature [12]. The shift from lower
(760 cm) to higher (890 cm) wavenumber, represent an increase in the ring
substitution related to the increase in carbonization temperature (Figure 4.5), which
overall leads to a decrease in H free atoms (i.e., OH and alkyl groups substitution).

~

(]

[6)]

w

&

Integrated band intensity ratio (-)
N

1 1 1 1 1 1
450 500 550 600 650 700 750
Carbonization temperature CC)

Figure 4.5. Integrated CHsoo/ CHy0 band ratio (indication of ring substitution) as a function
of the carbonization temperature, derived from the spectra in Figure 4.2.

The evolution of the bands is in agreement with the study of Trick et al. [12] carried
out via the analysis of the gas evolution. To summarize, we can identify four main
steps in the carbonization:
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- Step 1: crosslinking of the cured resin (R) via the formation of the CH and
O (ether) links (Rcn and Ro, respectively), as described via Eq. 4.5 and Eq.
4.4, respectively. This step leads to a loss in C-OH and alkyl groups.

- Step 2: stripping of the previously formed CH crosslinks, as well as of the
methylene crosslinks from the original cured resin. The aliphatic CH
concentration decreases with respect to the ring-related CH bonds. This
step leads to the formation of C-crosslinked char (Chc).

- Step 3: reaction with gaseous products leads to the formation of direct
aromatic-aromatic link (Cha,).

- Step 4: splitting of the H atoms directly bonded to the benzene nuclei, to
form the final char structure (Ch) with coalesced rings.

The evolution of the char structure as described in step 2, 3 and 4 is sketched in
Figure 4.6.

Chc Char Ch

Figure 4.6. Evolution of the structure of the char from carbon crosslink (Chc) to aromatic
crosslink (Cha,) and to coalesced rings (Ch).

The Novolac-based dipping solution used in this study for the preparation of the
carbon membranes includes two additives: 0.6 wt % of ethylenediamine (C2HsN»)
and 0.8 wt % of 10% aqueous dispersion of boehmite nanosheets. The NH
stretching vibrations occur in the same range of the OH vibrations, but they atre
usually much weaker. Primary amines show some deformation peaks related to the
NH: bond at ca. 1650 cm!, which were not detected. On the other hand, secondary
amines (R-NH-R’) show deformation vibration at ca. 1600 cm'!, which would
overlap with the aromatic C=C stretching. However, it should be kept in mind that
the nitrogen content found in the carbonized samples via elemental analysis (see
Appendix C, Figure Cl) is ca. 1-1.5 wt %, which indicates that any peak related to
this element is in general less significant (i.e., comparable to the noise of the
measurement) than the peaks related to the C, H and O bonds. As a result, the N-
related bonds do not contribute much to the FTIR spectra of these samples.

Furthermore, in Chapter 3, the absence of any Al-C interaction was proved.
Therefore, boehmite contributes to the FTIR spectra in the free OH bands,
although, likewise the N-bonds, this contribution is very little when compared to the
bands linked to the carbon skeleton of the resin.

In conclusion, the analysis of the FTIR spectra with the carbonization temperature
in a wider range (450-750 °C) shows that the resin undergoes drastic changes in the
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range 450-550 °C, where functional groups transformation occurs prior to their
disappearance (i.e., formation of char structures). Therefore, the functional groups
formed in this range could be either less or more hydrophilic than the ones from the
original cured resin. However, it is expected that above 600-650 °C the
hydrophilicity is gradually lost, as reported elsewhere [13]. The affinity of the samples
carbonized at different temperatures to water will be addressed in the following
section.

4.3.2 Water adsorption/desorption on the CMSM surface studied via in-
situ FTIR

The membrane carbonized at 500 °C is used as example to qualitatively analyze the
evolution of the FTIR spectra with time during the water adsorption (Figure 4.7a)
and desorption step (Figure 4.7b). When the membrane sample is exposed to 2 vol.
% water, the FTIR signal displays a development and subsequent increase of
intensity of peaks in the band region of the OH stretching, and to a milder extent,
of the OH bending (see Appendix C, Figure C2). In particular, in the OH stretching
region, 4 peaks can be identified [14]: the peaks at ca. 2990 cm-!, 3320 cm! and 3490
cml, all representing the monolayer of water adsorbed to the hydrophilic pores via
the formation of strong, medium-strong and weak H-bonds, respectively. The peak
at ca. 3560 cm! can be ascribed to the free or unassociated water, which means
isolated water molecules that are either physically adsorbed onto the membrane
surface or interacting with the strongly adsorbed water. Figure 4.7a shows that after
ca. 30 min, the system achieves a steady state condition and the FTIR spectra
stabilizes. However, when the water is removed and the sample is only exposed to a
He environment at the same temperature and pressure (i.e., 30 °C and ambient
pressure) — Figure 4.7b — the membrane surface cannot restore its initial (dry)
status, as reported in Figure 4.2, even when achieving steady state condition.
Indeed, some water is still bonded to the membrane surface. This indicates that the
water adsorption/desorption phenomena displays a hysteresis behavior. To restore
the initial status of the membrane surface, the membrane needs to be exposed to an
inert atmosphete (i.e., N2) at 300 °C for 1h.

The high intensity peaks (i.e., in the region 3700-3100 cm) characterizing both the
water adsorption and desorption spectra were integrated and normalized with the
maximum integrated band intensity (i.e., steady state), as shown in Figure 4.8a and
Figure 4.8b, respectively. During the water adsorption, all the peaks achieve a steady
state condition with the same rate. However, during the desorption step, only the
free water molecules completely desorb and at a higher rate. On the other hand, the
water molecules bonded to the membrane surface via H-bonds do not desorb
completely, showing a residual peak area which is larger for the medium-strong than
for the weak H-bonds. Therefore, the water directly adsorbed onto the membrane
pores (i.e., via H-bonds) appears to be responsible for the hysteresis behavior.
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Figure 4.7. FTIR spectra obtained when exposing the membrane carbonized at 500 °C to a

2 vol% water/He environment (a — water adsorption) and to a He environment (b — water
desorption) at 30 °C and ambient pressure, as a function of time.
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Figure 4.8. Integrated normalized band intensity corresponding to the strong H-bonds
(2990 cm'!), medium strong H-bonds (3320 cm), weak H-bonds (3490 cm!) and to the free
water (3560 cm!) as a function of time during the water adsorption (a) and desorption (b)
step, obtained from the FTIR spectra of Figure 4.7 (membrane sample carbonized at 500
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The same water adsorption/desorption experiment was carried out on all the
membrane samples carbonized at different temperatures (i.e., 450-750 °C). Figure
4.9 displays the FTIR spectra obtained after subtracting the spectra of the dry
membrane (Figure 4.2) from the steady state water adsorption spectra. For the
samples carbonized at temperatures higher than 550 °C, the signal is much weaker
and the peaks corresponding to strongly adsorbed water via medium and strong H-
bonds disappear (i.e., peaks at lower wavenumber), while the peak representing
mainly weak bonded or free water is much broader. As a matter of fact, at 600 °C
and 650 °C, the membrane surface loses the hydroxyl and carbonyl groups,
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respectively, which are the most polar functional groups able to form hydrogen
bonds with water.

Analyzing the low carbonization temperature region (i.e., 450-550 °C), it is clear that
the sample carbonized at 500 °C adsorbs the highest amount of water, followed by
the sample carbonized at 550 and 450 °C. The higher hydrophilicity of the 500 °C-
carbonized sample is believed to be linked to the C-O, C=0, aromatic and aliphatic
CH groups (corresponding to the signals in the region 2000 and 1000 cm! that
display a peak at 500 °C), which all increase the probability of the water to adsorb
onto the membrane surface.

When zooming into the high carbonization temperature region (see Appendix C,
Figure C3) we observe that the signal is quite weak and noisy. However, it is clear
that the hydrophilicity tendentially dectreases for Teapp, = 600 °C.

——450°C
——500 °C
——550 °C

_,__,/\/f\/\ ——600 °C
—650 °C
W o 700°%C
—750°C

WWMWW%W‘MM
AV A S AR VA I e
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Figure 4.9. FTIR spectra of the carbon membrane samples carbonized at different
temperatures, obtained after subtraction of the characteristic dry membrane spectra (Figure
4.2) from the steady state spectra obtained when exposing each membrane sample to a 2
vol% water/He environment at 30 °C and ambient pressute (watet adsorption experiment).

4.3.3 Gas adsorption properties derived via thermogravimetric analysis

To assess whether the adsorption diffusion is a relevant transport mechanism for
gas permeation, the affinity of the membranes carbonized at different temperatures
to the gas of interests (i.e., CO2, H2 and CO) was studied via thermogravimetric
analysis (TGA). As shown in the previous section, the membrane carbonized at 500
°C displays the highest adsorption capacity for water vapor, being the pores walls
rich in functional groups. Therefore, this membrane sample was used again as a
reference for further studies. It was found that the adsorption of CO and H» at
temperatures televant to the permeation (i.e., 200 °C) can be neglected, at least in
the pressure range of 1-10 bar. The only gas showing affinity to the membrane
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surface is COa. Therefore, the CO; adsorption was systematically studied for all the
membrane samples. For all membranes, the amount of CO» adsorbed increases as a
function of pressure, following a Dubinin-Astakhov type of isotherm, as reported
elsewhere [7]. Furthermore, Figure 4.10 shows that the weight variation associated
to the CO» adsorption generally increases with the carbonization temperature, with
the membrane carbonized at 650 °C being the only one out of the trend. Indeed, the
sample carbonized at 650 °C displays a lower adsorption capacity than those
carbonized at 600 and 700-750 °C, in agreement with what found with the water
adsorption. This finding implies that although no noteworthy differences can be
observed in the FTIR spectrum among the carbonized membranes produced at
temperatures of 600 °C and 700-750 °C, when compared to the membrane obtained
at 650 °C, the latter displays a lower surface area. This reduction results in fewer
functional groups being available to expose to the gaseous atmosphere for the
adsorption of COx.

The increase in the CO, adsorption with the carbonization temperature can be
ascribed to two reasons: the change in the surface chemistry and 2) the change in
the surface area with the carbonization temperature. The surface functionality of the
membranes was studied via FTIR, where no bands related to N-containing group
were detected, due to the very little concentration (i.e., 0.6 wt%) of the of
ethylenediamine (C2HgN») in the Novolac-based dipping solution that was used for
the preparation of the membranes. On the other hand, any transformation of the
amine group involving the incorporation of the nitrogen atom in the aromatic ring
cannot be excluded, leading to the formation of pyridine/pytridone structures within
the pyrolysis process. L. Geunsik et al. [15] proved via DFT calculation that the
binding energy of CO: to pyridine/pyridone groups is stronger than for amine
groups, which could explain the increase in the CO> uptake with the carbonization
temperature. Secondly, the porous structure (i.e., pore size, pore size distribution
and surface area) of these membranes, has been proven to be affected by the
carbonization temperature [5], [16]. As reported in Section 4.1, the membrane
carbonized at 450 °C has few pores, mostly in the range 0.4-0.9 nm. Thus, at 450 °C
the membrane has a small pore volume, combined with relatively large pores, which
also translate into a small surface area. At intermediate Teap, (600-650 °C), the
membranes display a bimodal distribution, with MS and AD pores. These
membranes are expected to have the largest surface area. Finally at higher Teypp, the
porous system shrinks, leaving most of the pores in the MS region. As a result, the
surface area of the membranes is expected to display an optimum with the
carbonization temperature, which is something that does not reoccur in the CO:
uptake (Figure 4.10). Thus, the results suggest that at low carbonization
temperature, the increase in the COz adsorption is linked to the increase in the
surface area with the carbonization temperature. At higher T, , despite the
shrinkage of the porous structure, the CO, adsorption continue to increase due to
the transformation of the amine group into the pyridine/pyridone structure, due to
the pyrolysis process. This theory agrees with the lower COz adsorption capacity
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found at 650 °C, where the effect of the surface area prevails on the sutface
chemistry.
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Figure 4.10. Weight increase (%) recorded during the CO2 TGA test at 200 °C as a function
of the carbonization temperature for three values of pressure (0.5, 2 and 3 barg).

Water adsorption tests via thermogravimetric analysis were not carried out due to
setup limitations. However, the water adsorption was studied at low temperature
and pressure (i.e., 30 °C, 2 vol. % water in He and ambient pressure) via in-situ FTIR
analysis (section 4.3.2). The same type of experiment was repeated replacing water
by COz. No signal due to the CO» adsorption was detected, as CO2 seems to require
higher pressures to adsorb onto the membrane surface. Thus, although it was not
possible to quantify the water adsorption at conditions relevant for the permeation
(.e., 200 °C), it is expected that it would be even more relevant than the CO»
adsorption. This is also confirmed by the characteristic functional groups of the
surface of the membranes (Section 4.3.1), which interact more with water than COs,.

4.3.4 Permeation properties of the supported AI-CMSMs

This section focuses on the permeation properties of the tubular supported Al-
CMSM. First, the effect of the carbonization temperature is assessed through the
analysis of the single vapor (water and methanol) and single gas permeance through
humidified membranes. Then, gas and gas/vapor permeation through both a humid
and a dry membrane will be discussed in order to elucidate the permeation
mechanism.

Effect of the carbonization temperature on the vapor/gas permeation
properties

The permeance of N2 (§y,), CO ($¢o) and Ha (§y,) measured at 200 °C is reported
in Figure 4.11a as a function of the carbonization temperature. The permeance of
these gases shows a first increases with the carbonization temperature, displaying an
optimum in the region 600-700 °C, to decrease again at 750 °C. The same trend
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repeats at all the operating temperatures in the range 150-250 °C (see Appendix C,
Figure C4). In the optimum region, two peaks are identified: one at 600 °C and
one at 700 °C. This could imply either that the permeance of all gases at 650 °C is
lower than expected or that the permeance at 600 or 700 °C is unexpectedly higher,
breaking the volcano-shape trend.

Being the affinity of N to the membrane surface, as well as its interaction with the
water adsorbed on the surface of the pores negligible, it is possible to conclude that
the gy, trend with Teap, solely depends on the changes introduced by the
carbonization temperatures in the porous structure, both in terms of pore size
distribution and porosity of the membranes. As a result, on one hand, the trend of
#n, with T, can be explained with the information already available on the pore
size distribution of these membranes. On the other hand, the oy, can be used to
elucidate even more on the effect that the carbonization temperature has on the pore
size distribution of the membranes. All the techniques used for measuring the pore
size distribution have some limitations: 1) physisorption techniques measure also
dead-end pores, which are not active for the permeation, 2) perm-porometry
techniques are based on capillary condensation phenomena, which requires strong
hypothesis, especially for pore diameter below 1 nm. Therefore, using the
permeation flux of inert species through the membrane is an effective way to have
an indication of the properties of the porous system which are relevant for the
permeation.

For this scope, it would be ideal to use, as a reference, the smallest inert gas of the
system, which would have the possibility to access even smaller pores. In the
previous section, it was found that Hz does not interact with the membrane surface
as its adsorption capacity measured via thermogravimetric analysis is negligible.
Indeed, §oy, displays the exact same trend of §y, vs Tearp, as well as of @¢o, which
was also proved to be inert with respect to the membrane surface. As a result, each
of these gases could be used to gain insights into the pore size distribution of the
membranes.

Combining the information on the pore size distribution measured on unsupported
carbon films from previous study and the trend reported in Figure 4.11a, it can be
stated that initially, gy, increases with Te,r, due to an increase in the porosity of
the membranes and to the gradual development of pores in the MS region. At
intermediate Teap, (600-700 °C), gy, is the highest due to the large fraction of pores,
especially in the MS region. At 650 °C, the @y, is slightly lower, which could indicate
that the membrane could also display some differences in terms of pore size
distribution (i.e., a lower porosity or a shift in the average pore size to lower values).
Finally, as soon as the porous structure starts to shrink (750 °C) also the gy,
decreases.

As it was shown in the previous section, these species do not adsorb on the
membrane pores, thus molecular sieving is the dominant transport mechanism. At
all carbonization temperatures, their permeance monotonically increases with the
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operating temperature, as reported in Figure 4.12a for the membrane carbonized at
550 °C. This observation makes even clearer that, when the membranes display a
high portion of pores in the MS region (i.e., Tearp in the range 600-700 °C), the gas
permeance is also the highest.

The permeance of all species with a proved (ie., water and CO») or expected
(methanol) affinity to the membrane surface, is reported in Figure 4.11b as a
function of the carbonization temperature. Surprisingly, £u,0, £co, and Pwmeon
show the same trend with Te,y, as for the inert gases. However, Figure 4.12b shows
that §y,0 and @meon monotonically decrease when the operating temperature
decreases, which is a clear indication of the adsorption diffusion being the dominant
transport mechanism, as it was found in Chapter 3 for @y, . Capillary condensation
could also play a role, especially at lower temperatures. However, when using the
information of the pore size distribution to estimate the capillary condensation
pressute, it can be concluded that this phenomenon could play a role only at 150 °C.

CO; permeance (f¢o,), instead, displays an optimum at ca. 200 °C, which is also
typical of adsorption diffusion. Indeed, since CO; permeance was measured through
a humid membrane, some water molecules are adsorbed on the pore walls. This
results in a reduced accessibility for the COx to its adsorption sites, as well as in a
lower active pore size, which make molecular sieving the dominant transport
mechanism for §¢q,. Moreover, when water is adsorbed on the pore walls, CO> can
interact with it via dipole-quadrupole interactions in the larger AD pores. As
temperature increases (i.e., above 200 °C), water progressively desorbs and
adsorption diffusion becomes the dominant mechanism for §¢q, as well.
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Figure 4.11. Permeance of gases and vapors as a function of the carbonization temperature:
(a) Nz, CO and H: (b) H20, methanol and CO,, measured at 200 °C and a total pressure
gradient of 3 bar.
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Figure 4.12. Permeance of gases and vapors as a function of the permeation temperature:
(a) Na, CO and H» (b) H2O, methanol and CO,, measured at a total pressure gradient of 3
bar for the membrane carbonized at 550 °C.

These observations lead to the conclusion that the trend induced in the permeance
of each species by the carbonization temperature solely depends on the
characteristics of the porous structure of the membranes. On the other hand, the
trend of the permeance of each species as a function of the operating temperature
is strongly influenced by the dominant transport mechanism.

The trend of go; with the permeation temperature is qualitatively the same for all the
membranes carbonized at different temperatures. However, as the permeation of
water or methanol vapor are concern, the §; yapor decrease with a different slope for

different Tygpp- In other words, the apparent activation energy (ESRY) for both

methanol and water (Figure 4.13) is negative, which means that both species have
a high adsorption energy (E2PP = Eactap — Eags < 0) and that adsorption diffusion
is the dominant mechanism. However, when increasing the carbonization
temperature, Eoby increases, becoming less negative, assuming the highest value at
ca. 600-700 °C, to then decrease again at 750 °C, thus showing a similar trend to the

§; vs Tearp curves.

The only reason for the activation energy to increase is because of the interplay of
two transport mechanisms, one being the adsorption diffusion, with a negative E5EY,
and the other molecular sieving, with a positive E5or. As a result, for the membranes
carbonized in the range 600-700 °C, molecular sieving plays a relevant, although not
dominant, contribution also in the permeation of water, methanol and CO.. In
conclusion, this is a further confirmation that MS pores appears gradually in the
membrane porous structure and that a T,y of 600-700 °C induces the formation of
a large fraction of pores in the MS region, which subsequently shrinks for higher
carbonization temperatures.
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Figure 4.13. Apparent activation energy as a function of the carbonization temperature for
both methanol and water.

Insights into the gas permeation mechanism

In this section, the membrane carbonized at 600 °C is used as model to discuss the
mechanisms involved in the permeation of the gases of interests, with a specific
focus on how the presence of water affects the interplay of the transport
phenomena.

Firstly, it is observed that when fy, (Figure 4.14a) and o (Figure 4.14b) are
measutred through a humid membrane and via a Ho/H>O or CO/H>O mixture, the
permeance increases with the operating temperature with a similar slope, which
indicates that molecular sieving is still dominant. However, both oy, and @¢q are
higher when measured via pure gas permeation tests through a humid membrane.
This indicates that when the gas/water mixture is fed to the membrane, water
adsorbs on the pore walls, reducing the active pore size, thus partially or totally
blocking some of the pores, hindering gas permeation.

On the other hand, when the membrane undergoes a thermal treatment which
removes the adsorbed water from the surface, the pores will be bigger and the
absence of water in the pores, makes the gases to collide with the walls of the pores
increasing the path length behaving as Knudsen (microporous Knudsen) [17]. The
Knudsen diffusivity depends on T*/2, which means that the gas permeance (x T~%/2)
decreases with temperature when Knudsen diffusion is the dominant mechanism.
As a matter of fact, when oy, and o are measured through a dry membrane, §y,
slightly decreases with temperature, while #¢q increases with temperature with a
much lower slope than the previous cases. This means that when the membrane is
dry, microporous Knudsen diffusion becomes the dominant transport mechanism
for the H» permeation and it contributes to the permeation of CO, with molecular
sieving being still dominant. Indeed, the mean free path of Hy is larger than for CO,
which explains the different contribution of the Knudsen flow for the two gases.
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Figure 4.14. H; permeance (a), CO permeance (b) and CO; permeance (c) as a function of
the permeation temperatute measured through a dry and humid membrane and in gas/vapor
mixtures for the membrane carbonized at 600 °C.

As discussed above, #¢g, is affected by both molecular sieving and adsorption
diffusion. In Figure 4.14c, it can be observed that when water is adsorbed on the
membrane pores (i.e., humid membrane) or it is fed together with CO» (i.e., mixture
test), #¢co, displays an increase with the operating temperature, indicating molecular
sieving as dominant mechanism. As a matter of fact, as seen in Figure 4.12, free
water molecules reduce the accessibility of the adsorption sites for CO2. As soon as
this water is being removed from the pores, the pore size increases and adsorption
diffusion becomes more relevant, to finally control the CO, transport when the
membrane is dry. Indeed, §¢o, measured in dry conditions displays a negative
activation energy, as clearly visible from Figure 4.14c. The decreasing trend of ¢,
with temperature recorded in dry conditions is not linked to the Knudsen diffusion.
Indeed, the HxO/CO:; selectivity is 5.89 at 200 °C, which is ca. 4 times higher than
the value of the Knudsen selectivity for the same gas/vapor pair (ie.,

A/ MWCOZ/MWHZO = 156)
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The same experiments were carried out also for the membranes carbonized at 450
and 700 °C (see Appendix C, Figure C5 and Figure C6), which belong to the low
porosity region, as seen in previous sections. Overall, it can be confirmed that, even
when removing the water via the thermal treatment (i.e., dry membrane), the
permeance of the gases display the same trend with the carbonization temperature
as in Figure 4.11. On the contrary, the presence/absence of water in the membrane
pores affect the relative contribution of the transport mechanism, which results in a
different behavior of the permeance with the operating temperature.

Effect of the carbonization temperature on the vapor/gas perm-selectivity

The ideal perm-selectivity of water towards each of the gases and methanol (Sy,0:)
were determined using the ; obtained via pure gas (via humid membrane) and pure
vapor permeation tests. The behavior of Sy,q,; with respect to the gases (i.e., Ho,
CO», CO, Ny) confirms what was found in Chapter 3: Sy, /; generally increases with
the kinetic size and decreases with the permeation temperature for the gas showing
molecular sieving behavior (i.e., Hz, CO and N2). Sy, 0/c0, , instead, is barely affected
by the operating temperature, given the contribution of the adsorption diffusion in
both CO; and water permeation mechanism.

Expectedly, all the perm-selectivity display the same trend as a function of Ty, as
for the ;. As example, Figure 4.15 depicts the Sy,o/n, VS Tcarp measured in the
temperature range 150-250 °C. At all operating temperatures, Sy,o/n, assumes the
lowest values for the most permeable membranes (i.e., 600-700 °C). As a matter of
fact, in membrane technology it is well known that a trade-off always exists between
permeability and perm-selectivity, for a given separation. However, the trend is more
marked at lower permeation temperatures (i.e., 150-175 °C), where capillary
condensation phenomenon is more likely to contribute to the water permeation
mechanism. This results in a higher probability for the water to partially or totally
block some of the membrane hydrophilic pores, hindering the permeation of other
gases. At 250 °C, the catbonization temperature bately affects the perm-selectivity.
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Figure 4.15. H;O/H, perm-selectivity as a functon of the carbonization temperature
measured at operating temperatures in the range 150-250 °C

The water/methanol perm-selectivity (Sy,o/meon) i also an important parameter
when the scope of the membrane is to enhance reaction performance such as for
the synthesis of MeOH or dimethyl ether (DME). When methanol is the desired
product, a low value of Sy, meon is preferred, in such a way that the equilibrium of
the methanol synthesis is even more shifted to the products side. On the other hand,
when methanol is the intermediate product, such as in the methanol to gasoline
(MTG) process or in the DME synthesis, Sy, 0/meon nNeeds to be as high as possible,
to keep the methanol in the reaction side. Figure 4.16 displays the values of the
Sh,o/meon determined for the membranes with different carbonization
temperatures. Sy,o/meon displays the same trend with Tep as seen for the
water/gas pair. Furthermore, it is obsetved that for most of the membranes,
Sh,0/Meon 1 not much affected by the operating temperature, given the very similar
average dipolar moment (2.64 and 2.95 D for methanol and water, respectively) and
activation energy of water and methanol. Sy,o/meon ranges from 3 to 6.4, except for
the membrane carbonized at 450 °C which shows a selectivity of 19.9-16.5. Indeed,
at Tearp Of 450 °C, the membrane combines a high hydrophilicity with a relatively
low porosity, which results in a much higher permeance of the water than of
methanol.
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Figure 4.16. Water/methanol perm-selectivity for the membranes carbonized at different
temperatures, measured at 150, 200 and 250 °C

Finally, when the permeation properties are measured feeding a mixture of gas and
vapot, §y,o decreases with a similar extent to what we observed for the gas
permeance in Figure 4.14 (see Appendix C, Figure C7). As a result, the separation
is not significantly affected by the gas/vapor interactions, which means that the
molecules need to compete for their transport through the membrane pores, despite
the high affinity of the membrane to the water. This suggests that the competition
between water and a second species occurs prior to the access of any molecule to
the pores. Then, once water enters the pores, its transport is influenced by the
interaction with the hydrophilic surface. This lead overall to lower separation factors
than ideal selectivity, as seen in Chapter 3. However, it must be noted that the
separation factor is calculated differently than the ideal selectivity and that
comparing permeances measured via pure gas/vapor or mixture test gives a clearer
indication on the separation performance in real conditions.

4.4 CONCLUSIONS

In this study, boehmite-phenolic resin carbon molecular sieve membranes were
prepared, based on a previously optimized composition (Chapter 3), carbonizing the
membranes in the temperature range 450-750 °C. Both supported and unsupported
membranes were tested to assess how the carbonization temperature affects the
vapor-gas separation performance, in view of their potential application in
membrane reactors, to enhance COz hydrogenation reactions.

First, the transformation occurring in terms of the surface chemistry of the
membranes as soon as the pyrolysis step progresses was elucidated via FTIR analysis.
It was found that the OH groups disappeat at Teup = 600 °C. At the same
temperature, the membrane also loses the aliphatic CH groups. The aromaticity,
instead, disappear at higher temperature (700-750 °C), with the resin gradually
transforming into a char-like structure.
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The hydrophilicity of the membranes was first assessed via in-situ FTIR analysis,
carried out when exposing the membrane to water vapor at ambient conditions. It
was found that two types of water adsorb onto the membrane surface: one directly
bonded to the hydrophilic pores via H-bonds and the other free or weakly bonded,
mostly interacting with the already adsorbed water (i.e., water monolayer). The
membrane affinity to water initially increases with Te,pp, With the sample carbonized
at 500 °C being the most hydrophilic. Then, hydrophilicity tendentially dectreases as
hydrophilic functional groups are being removed.

The results of the thermogravimetric analysis revealed that the membrane is inert
with respect to Hz, CO and N». On the other hand, CO» adsorption cannot be
neglected and the affinity of the membrane to COz generally increases with Tegpp,
due to a combination of a higher surface area and the possible transformation of the

amine group into a pyridine/pyridone structure, which display stronger affinity to
COo..

The permeance of all gases and vapors tested shows the same behavior with the
carbonization temperature: ; first increases, displaying an optimum in the region
600-700 °C — with a slightly lower value at 650 °C — to decrease again at 750 °C.
This result suggests that the trend induced by Teapp, solely depends on the pore size
distribution and porosity of the membranes. Indeed, the membranes carbonized in
the range 600-750 °C display a bi-modal pore size distribution, with the majority of
the pores in the MS region, which was confirmed also by the higher activation energy
calculated for water and methanol.

On the other hand, the trend of f; with the operating temperature is strongly
influenced by the transport mechanisms. Water, methanol and CO; permeate mostly
via adsorption diffusion mechanism. The inert gases (i.e., Hz, CO and N»y), instead,
permeates mostly via molecular sieving. However, when the permeance of such
gases is measured through a dry membrane, microporous Knudsen diffusion starts
to play a relevant role. Therefore, the presence/absence of water in the membrane
pores affect the relative contribution of the transport mechanism, as well as the
extent of the permeation flux: ; decreases for higher water content. Furthermore,
when the permeance is measured via gas/vapor mixture, also the §y,o decreases,
indicating that all molecules, despite their affinity to the membrane surface, compete
for accessing and interacting with the pores of the membranes.

Finally, it was observed that all the perm-selectivity display the same trend as a
function of Teapp, as for the @, with the lowest values in the region 600-700 °C,
corresponding to the highest permeabilities. This trend is more visible at low
operating temperatures (i.e., 150-175 °C), where water condensation is more likely
to occur and block some of the pores.

138



4. CMSM for vapor/gas separation — Part I1

Appendix C

C.1 Supplementary figures
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Figure C1. Elemental composition of the CMSM in terms of carbon (C), hydrogen (H),
nitrogen (N) and oxygen (O) mass fraction determined using a Thermo Scientific, Flash
Smart — CHNS/O, Waltham, MA, USA analyzer.
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Figure C2. FTIR spectra obtained when exposing the membrane carbonized at 500 °C to a

2 vol% water/He environment (a — water adsorption) and to a He environment (b — water
desorption) at 30 °C and ambient pressure, as a function of time.
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Figure C3. FTIR spectra of the carbon membrane samples carbonized at different
temperatures in the range 600-750 °C, obtained after subtraction of the characteristic dry
membrane spectra (Figure 4.2) from the steady state spectra obtained when exposing each

membrane sample to a 2 vol% water/He environment at 30 °C and ambient pressure (water
adsorption experiment).
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Figure C4. Permeance of gases and vapors as a function of the carbonization temperature
measured at 150, 200 and 250 °C and a total pressure gradient of 3 bat.
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CHAPTER 5

Experimental investigation of a packed bed membrane
reactor for the direct conversion of CO: to dimethyl
ether

Abstract

In this chapter, the performance of a packed bed membrane reactor (PBMR) based
on carbon molecular sieve membranes for the one-step CO:2 conversion to dimethyl
ether (DME) is experimentally compared to that of a conventional packed bed
reactor (PBR) using a CuO-ZnO-ALO3;/HZSM-5 bifunctional catalyst. The PBMR
outperforms the PBR in most of the experimental conditions. The benefits were
greater at lower GHSV (Le., conditions that approach thermodynamic equilibrium
and water formation is more severe), with both X¢o, and Ypmg improvements of
+35-40% and +16-27%, respectively. Larger sweep gas-to-feed (SW) ratios increase
the extent of water removal (ca. 80% at SW=5), and thus the performance of the
PBMR. Nevertheless, alongside the removal of water, a considerably high amount
of all products are removed as well, leading to a greater improvement in the CO
yield (+122%) than the DME yield (+66%). Higher temperatures (>200 °C)
selectively improve the rWGS reaction, leading to a lower Ypyg with respect to the
PBR at 260 °C, due to the significant loss of methanol. Furthermore, larger
transmembrane pressures (AP) were not beneficial for the performance of the
PBMR due to the excess reactant loss (i.e., 98-99% at AP=3 bat). Finally, the reactor
models developed in Chapter 2 and 6 accurately describe the performance of both
the PBR and PBMR in the range of tested conditions. This result is of high relevance,
since the reactor models could be used for further optimization studies and to
simulate conditions which were not explored experimentally.

This chapter is based on the following paper:

Poto, S., Llosa-Tanco, M. A., Pacheco-Tanaka, D. A., Gallucci, F., & Neira d’Angelo,
M. F.. Experimental investigation of a packed bed membrane reactor for the direct
conversion of COz to dimethyl ether. Submitted to Journal of CO2 utilization
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51 INTRODUCTION

In Chapter 2, the state of the art membrane reactor technologies for the in-situ
removal of water during methanol and dimethyl ether (DME) production has been
extensively discussed. According to literature, it is clear that the one-step DME
synthesis has gained more attention only very recently, with most of the studies
focusing on the use of CO»-rich syngas, rather than on pure CO; feeds. However,
the removal of water becomes even more important as the CO; content in the feed
increases [1]—[4]. To date, most of the work aimed at demonstrating the potential of
the in-situ removal of water to enhance the DME synthesis follows a modeling
approach, while only the group of Ateka and collaborators has proved the improved
performance of the membrane reactor experimentally [5], [6]. In these studies, the
authors validated their previously developed reactor model by testing, at laboratory
scale, an LTA (i.e., zeolite type A) membrane reactor using feedstocks containing
CO,/COy (with CO=CO2+CO) in different proportions. However, the reported
DME yield for pure CO; feeds remains very low (~5%), given the very high
temperature (i.e., 275-325 °C) adopted in this study. Given the stronger
thermodynamic limitation of the COa-to-DME process, lower temperature
operation would be preferred to achieve higher DME yields which would, as a
consequence, lead to the production of more water. This poses higher demands on
the selection of the membrane material, especially in terms of stability. The LTA
membrane proposed by Ateka et al. shows a water permeance in the order of 108
mol'm2s-'Pa! and separation factors very close to (or sometimes lower than) those
measured with the carbon molecular sieve membranes (CMSM) in this thesis (i.c.,
Su,o/m, of 1.1, Sy, 0/c0 of 2.4, Sy,0/c0, of 0.56 and Sy, meon Of 1.8 for the LTA
membrane at 275 °C). Thus, zeolite membranes display similar separation
performance than CMSM, but with lower permeabilities. Besides, CMSM present
improved stability with respect to zeolites in presence of water at high temperatures
[7], which highlights the potential for CMSM for this application, especially when
using pure CO; feeds that lead to larger production of water.

Carbon membranes have already been proposed in the past for their application in
membrane reactors, mostly to enhance dehydrogenation reactions. Indeed, given
their molecular sieving charactet, if the pore size of these membranes is finely tuned,
Ho (i.e., one of the smallest molecules) can be selectively separated from the reaction
mixture. Itoh and Haraya developed one of the first carbon membrane reactor
(CMR) to enhance the dehydrogenation of cyclohexane. Their CMR, made of a
bundle of 20 carbon fibers, exceeded the equilibrium conversion at 195 °C and
ambient pressure [8]. Later on, Hirota et al. improved the properties of the carbon
membrane by controlling the pore size through activation with different gas/vapor
atmosphere, which lead to better performance of the CMR for the dehydrogenation
of methylcyclohexane in the range 200-260 °C [9]. Sznejer and Sheintuch tested, for
the first time, a CMR for the dehydrogenation of isobutene at very high temperature
(i.e., 450-500 °C). The conversion of isobutene was significantly improved due to
the H, removal, which was rendered even more effective thanks to the circulation
of a N»-containing sweep gas (i.e., H> dilution in the sweep gas as a way to increase

148



5. Experimental investigation of the PBMR

its driving force for the permeation flux) [10]. Zhang et al. proposed a CMR to
enhance the methanol steam reforming (SRM) via the in-situ removal of Ha. The
authors measured a few percentage improvement in the methanol conversion and
H; yield with respect to a conventional reactor in the range 200-250 °C, even when
using N> as a carrier gas for the Hy dilution [11]. Later, Sa et al investigated, first via
a numerical study, the use of either Pd or carbon membrane to enhance the SRM
and to recover pure Hz in the permeate stream. Carbon membranes were identified
as a cheaper alternative to the Pd counterpart, allowing for a higher Hj recovery, but
with lower purity [12]. The same authors, few years later, experimentally investigated
the use of CMR for the SRM, and found that the low Hz/H>O perm-selectivity (i.e.,
0.4 at 200 °C) caused steam depletion from the reaction zone, thus a decrease in the
performance of the CMR, and higher production of CO (ie., methanol
decomposition). To solve this issue, they proposed the circulation of steam as a
sweep gas to prevent its permeation from the reaction zone. In this configuration,
back-permeation of water allowed to achieve higher performance with lower
steam/methanol ratios in the feed [13]. This last application anticipates the
challenges encountered in this study, where water has to be separated and Ho
retained in the reaction zone. Finally, to underline the wide range of application of
carbon membranes, Dubé et al. used a relatively large pore size carbon membrane
(e, in the range of 0.05 to 1.4 um), to obtain pure biodiesel via the
transesterification of canola oil in a CMR [14], [15].

Thus, the concept of using carbon membranes in membrane reactors is not new.
Nevertheless, in all the applications mentioned, the CMR operates at relatively low
pressure and was mostly demonstrated for Hz separation. This underlines the
challenges and novelty of this study, where keeping Ho in the reaction zone is
essential to obtain high methanol and DME selectivity, especially at high pressure
and temperature (i.e., 40 bar and 200-260 °C).

In this chapter, a carbon membrane reactor is demonstrated for the one-step CO»
conversion to DME. As already discussed in Chapter 2, the cocurrent circulation of
a sweep gas containing the reactants (.e., H2 and COy) is proposed as a way to
prevent reactant loss through the membrane. At the same time, this configuration
allows to operate at relatively low pressure gradient across the membrane (AP), since
the driving force for the water separation is given by its dilution in the sweep gas.
However, in Chapter 2, this reactor configuration was explored via a modeling study,
where also a target for optimal membrane properties was defined. Here, a CMSM is
prepared based on the inputs of Chapter 3 and 4, and is then integrated in a
conventional CuO-7ZnO-AlLO3/HZSM-5 bifunctional catalyst bed. The as-obtained
packed bed membrane reactor (PBMR) was tested in different conditions to
investigate the effect of the main operational parameters, such as GHSV,
temperature, sweep gas ratio (SW) and pressure gradient across the membrane (AP).
The performance of the PBMR was compared to a PBR tested in the same
conditions. Finally, the reactor model initially developed in Chapter 2 and then
improved in Chapter 6 (i.e., implementation of new kinetic models) was validated
with the experimental data gathered in this study. This result is of very high
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relevance, given that reactor model is a powerful tool for reactor design and
optimization, as well as for scale-up and integration at process level.

5.2 EXPERIMENTAL

5.2.1 Catalyst material and characterization

The bifunctional catalyst used in this study is a physical mixture of a
CuO/ZnO/ALO; (CuZA) catalyst and a HZSM-5, with a mass ratio of 1. The
composition of the commercial CuO/ZnO/ALOs is teported in Table 5.1. The
catalyst was provided in cylindrical pellets (5.4x3.6 mm) and was crushed and sieved
to produce 50-125 um particle size, to be used for the characterization techniques
and reaction tests.

Table 5.1. Composition of the commetcial CuO/ZnO/ALO;

Component Composition (wt %)
CuO 52
ZnO 30
ALO3 17

Act. Charcoal 1

Typically, the p-Al2Os and the HZSM-5 are the acid catalysts used for the methanol
dehydration function [16], [17]. Several works have proved that the p-ALOj3 suffers
from strong and fast deactivation with high concentration of water in the reaction
medium. Indeed, the selectivity to DME drastically decreases when the CO; content
in the syngas feed is increased [18]. The poor activity of the CuO-ZnO-AlO3/p-
AlOs bifunctional catalyst for the one-step DME synthesis from CO; and H» has
also been proved in this chapter, using commercial y-ALOs provided by Thermo
Scientific™ (see Appendix D, Figure D1). On the other hand, several studies
proved that the HZSM-5 has higher activity for the DME synthesis, given the
Bronsted acidity and higher stability with water [19], [20]. In particular, zeolites are
characterized by both Lewis and Brensted acid sites and their balance is influenced
by the SiO2:ALbO3 (SAL) molar ratio. Better selectivity to DME have been measured
with SAL between 20 and 40 [16], [20]. Thus, HZSM-5 with a SAL of 23 was used
in this study. The fine powder ZSM-5 zeolite was provided in ammonium form from
Thermo Scientific™. The proton form (HZSM-5) was obtained after calcination of
the NH4-ZSM-5 at 550 °C for 5h under N atmosphere [21]. The HZSM-5 powder
was then pelletized, crushed and sieved to produce 50-125 um particle size, to be
used for the characterization techniques and reaction tests.

The specific surface area (S.A.) and pore volume (P.V.) of both catalysts were
determined via the BET and BJH elaboration of the Nz adsorption-desorption
isotherms at -196 °C, obtained using a Micromeritics ASAP 2020 gas adsorption
device. Before the measurement, the sample was degassed at 250 °C for 2 h. The
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catalyst density (pcar) Was measured using an automatic gas pycnometer instrument
(Ultrapyc 1200e).

The CuZA catalyst reducibility was studied via temperature programmed reduction
(TPR) analysis performed using a Micromeritics AutoChem 2920 equipment with a
TCD detector. The analysis was carried out in the range 50-400 °C with a heating
rate of 10 °C-min!, feeding 50 mL-min"! of a 10% H/Ar mixture. Prior to the TPR
analysis, the sample was outgassed under inert conditions as for the N
physisorption.

X-ray diffraction (XRD) analysis in the 20 range 10-120° was petformed on the
reduced CuZA catalyst and on the HZSM-5 with a MiniFlex600 (Rigaks#) operating
with a Ni B-filtered Cu-Ko radiant at 40 kV and 30 mA and a scan step of 0.05°/min.
The diffraction peaks were identified according to the JCPDS database of reference
compounds.

The acidity of the HZSM-5 was characterized via NHs-temperature programmed
desorption (TPD), carried out with the same equipment used for the TPR. Prior to
the analysis, the sample was cleaned with He at 250 °C for 2 h. Thereafter, the
temperature was reduced to 100 °C and the sample was saturated with a flow of 50
mL-min- of a 5% NH3/He mixtutre for 1 h. Then, the sample was purged with He
until a constant baseline was measured. The TPD analysis was finally carried out
increasing the temperature to 700 °C with a heating rate of 10 °C-min! under 25
mL-min! of pure He flow.

Prior to the packed bed membrane reactor experiments, the bifunctional CuO-ZnO-
ALOs/HZSM-5 catalyst was tested to prove its activity and stability for the CO:
hydrogenation to DME and to validate the kinetic model described in Chapter 0.
The catalytic tests were carried out in a stainless-steel reactor (din, 10 mm), loaded
with 0.25 g of catalyst, diluted with 0.75 g of silicon carbide (SiC), to ensure
isothermal operation and prevent sintering phenomena. The catalyst and the SiC
used for dilution were introduced in the reactor with the same particle size of 50-
125 um. Larger SiC particles were used as pre-heating bed, separated from the
catalytic bed with c.a. 1 cm? of quartz-wool. The reactor was placed in an electric
oven and precisely heated via a heating mantle. The temperature was measured with
two thermocouples, one at the beginning of the catalytic bed and one placed at the
exit of the gases. The reaction mixture was analysed with a compact gas
chromatograph (Global Analyzer Solution ™, G.A.S.) equipped with a TCD
detector and two packed columns (HayeSep Q 60-80 mesh and 5A molecular sieve)
for the analysis of permanent gases (i.e., Hz, CO2, CO and Ny) and an FID detector
with capillary columns (Rtx-1, MTX-1 and MTX-QBond) for the analysis of the
hydrocarbons. The experimental setup is sketched in Figure 5.1.

Prior to the reaction tests, the catalyst was reduced in-situ at 280 °C, with 50
mL-min? of a 50% H>/N, mixture for 4 h. The reaction tests were performed in a
range of temperature and pressure of 200-260 °C and 30-40 bar, respectively. The

151

Chapter 5




CHAPTER 5

feed contained Hz/CO,/N» mixtures in different proportion to have a Hx:CO»
molar ratio of 3 or 5, and a GHSV ranging from 1700-15000 NL kggk h™2. The full
carbon balance in the reaction was achieved with a maximum error of 3%. The
catalyst stability was observed with a 40 h time-on-stream test at 250 °C, 30 batr,

H:CO; molar ratio of 3 and a GHSV of 11000 NL kgg} h™1.
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Figure 5.1. Schematic representation of the experimental setup used for the catalytic tests.
Gases (Hz, CO2 and Np) are fed from bottles (Linde). FC indicates mass flow controllers, TT
and TC represent thermocouples and controllers, respectively. Pressure is controlled via a
back pressure control system (BPC).
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5.2.2 Membrane material and characterization

The carbon molecular sieve membrane (CMSM) was prepared following the
procedure described in Chapter 3 (i.e., one-dip dry carbonization step method). To
ensure a good balance between water permeance and selectivity, the dipping solution
was prepared with a boehmite content of 0.8 wt % and the carbonization
temperature was set to 600 °C (in line with the results of Chapter 3-4). In addition,
to guarantee a better adherence of the carbon layer to the ceramic support, a 1:1
dilution of the dipping solution with the NMP solvent was applied in this case. This
dilution resulted in a decrease in viscosity, and thus a thinner carbon layer, as proved
in Chapter 3. As a result, a higher water permeance and lower vapor/gas selectivity
than those reported in previous chapters are to be expected.
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Although the prepared CMSM does not correspond to the optimized membrane, as
identified in the previous chapters, this study aims at proving the concept of the
packed bed membrane reactor technology and, at the same time, at validating the
reactor model described in Chapter 6 and later used in Chapter 7 for the reactor
scale-up and process design.

The membrane was cut and sealed using two metallic tubes: 1) a dead end tube and
2) a tube welded to a Swagelok connection. The tubes were connected to the
membrane with a hydraulic crimping machine (FINN-POWER), applying a pressure
of 20 psi and using graphite tape for the deformation as well as to protect the
membrane. After sealing, a CMSM with total active length of 3.7 cm was obtained,
as shown in Figure 5.2.

1 em

Figure 5.2. Carbon molecular sieve membrane sealed with a dead end metallic tube from
one side, and a metallic tube with a Swagelok connection on the other side.

Prior to the reaction tests, the membrane permeation properties were tested. The
permeation tests were carried out with the same procedure and experimental setup
desctibed in Chapter 3 and 4. Vapor/gas separation performance were derived via
binary mixture tests, exposing the membrane to an equimolar mixture of H2O and
one of each gas (i.e., Ha, CO2, CO and DME). The permeance of methanol was
derived via pure vapor permeation tests. The tests were carried out with a total
pressure gradient (AP) across the membrane of 3 bar and in the temperature range
of 200-260 °C, which is relevant for the reaction.

5.2.3 Packed bed membrane reactor setup and testing

A schematic representation of the setup used for the packed bed membrane reactor
(PBMR) tests is given in Figure 5.3. The membrane reactor is a stainless-steel vessel
(OD 28.5 mm, L. 150 mm) with a top flange for the connection of the membrane
tube. Both a sweep gas and a permeate line are connected to the inner side of the
membrane via the top flange. The catalyst bed is placed in the outer space. Gases
(Ha, CO2 and Ny) are fed via mass flow controller (FC) from Bronkhorst, from gas
cylinders (Linde). N2 is only fed during the reduction protocol (FC105) and during
reaction tests as external standard (FC1006), to dilute both the retentate and permeate
stream, via a three-way valve (3WYV). Hz and CO; ate fed both in the reaction zone
(FC103 and FC104), and in the sweep gas (FC101 and FC102), to limit the
permeation of reactants, as proposed in Chapter 2. The pressure in the reaction and
permeation zone is regulated via two back pressure controllers BPC106 and
BPC107, respectively, and measured via pressure indicators PI110 and PI220,
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upstream the reactor. The membrane reactor is heated via an external jacket through
the temperature control system TC202-TI202. The reactor is then placed in an
electric oven to also preheat the feed lines. Temperature is measured inside the
membrane tube (T1205), at the entrance of the catalytic bed (T1207) and at the exit
of the catalytic bed (TI200), in order to monitor whether the operation is isothermal.
The retentate and the permeate lines can be sent to the analysis section via a six-way
valve (6WV), after dilution with the N stream, as described above. Both the
retentate and permeate mixture were analyzed with the same compact gas
chromatograph described in Section 5.2.1.
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Figure 5.3. Schematic representation of the experimental setup used for the PBMR tests.
Gases (Hz, CO; and Ny) ate fed from bottles (Linde). FC indicates mass flow controllers, T1
and TC represent thermocouples and controllers, respectively. Pressure is controlled via a

back pressure control system (BPC). 3WV and 6WYV corresponds to the 3-way and 6-way
valves respectively.

%@

[=}X

Svi

154



5. Experimental investigation of the PBMR

Once connected the membrane to the top flange, the reactor was closed and packed
via a funnel, as follows (from bottom to top):

1. Alayer of quartz wool (ca. 5 mL).

2. 25 g (ca. 15 mL) of SiC (100-150 pum), to fill the volume corresponding to
the bottom metallic connection of the membrane.

3. 20 mL of catalyst bed, composed of: 1.5 g of CuO/ZnO/ALO3, 1.5 g of
HZSM-5 and 25 g of SiC, with an average particle size of 100-150 pm.

4. 25 g (ca. 15 mL) of larger (250 pm) SiC, to fill the volume corresponding to
the top metallic connection of the membrane and to function as a
preheating bed, given the high thermal conductivity of SiC.

In this configuration, the catalyst is only in contact with the membrane active layer,
while inert material (SiC) is used to dilute the catalyst to prevent hot spots formation
and, at the same time, to ensure the desired aspect ratio of the catalyst bed.

To propetly compare the two reactor technologies under the same conditions, the
packed bed reactor (PBR) experiments were repeated using the configuration shown
in Figure 5.3 and packing procedure described above, but replacing the membrane
with a stainless steel tube with the same size of the CMSM.

Prior to the reaction tests, the catalyst was reduced in-situ at 280 °C with a mixture
of 100 mL/min 50 vol. % Hzin N, for 24h. In the PBMR configuration, 100
mL/min of H, was also fed in the sweep gas, to prevent Hy permeation. Thereafter
the reaction tests were carried out in the temperature range 200-260 °C, a pressure
of 40 bar, H2:CO, molar ratio of 3 both in the feed to the reaction zone and in the
sweep gas, a GHSV in the range 400-2600 NL kgt h™*. The AP was varied from 0
to 3 bar and a sweep gas ratio (SW) ranging from 1 to 5 was used. An overview of
the experiments carried out is given in Table 5.2. Prior to each experiment, the
PBMR_1 test was repeated to confirm that either the membrane or the catalyst were
stable. A stability test was finally performed in the conditions of PBMR_5 for 120
h.
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Table 5.2. Overview of the PBMR and PBR experiments carried out with the corresponding
operating conditions.

ID GHSV T PR AP sSw (Hy: COy)*
=) (NLkggih™) °C)  (bar) (bar) -) )
PBMR_1 400 200 40 0 1 3
PBMR_2 1300 200 40 0 1 3
PBMR_3 2600 200 40 0 1 3
PBMR_4 400 200 40 0 3 3
PBMR_5 400 200 40 0 5 3
PBMR_6 400 220 40 0 5 3
PBMR_7 400 240 40 0 5 3
PBMR_8 400 260 40 0 5 3
PBMR_9 2600 200 40 1.5 1 3
PBMR_10 2600 200 40 3 1 3
PBR_1 400 200 40 - - 3
PBR_2 1300 200 40 - - 3
PBR_3 2600 200 40 - - 3
PBR_4 400 220 40 - - 3
PBR_5 400 240 40 - - 3
PBR_G 400 260 40 — - 3

*In the PBMR tests, the same H,: CO, was used for both the reaction zone feed and the sweep
gas

The reaction performance in terms of CO; conversion (X¢o,) and product yield (Y;),
were determined using the methodology reported in Chapter 2. The removal of
water was quantified for each PBMR experiment, along with the removal of each
product (i.e., MeOH, DME, CO), generalizing the formula reported in Chapter 2
(WR) according to Eq. 5.1 (R;).

N 5.1)
"R+ FR

The loss (L;) or cofeeding (CoF;) of reactants (i.e., CO2 and Hy), was calculated as
follows:

F.
i= ;t*l‘n - if Fcoytmp = 0 Reactant loss (5.2)
0
CoF; = Fl}:mb if Fo,,tmb < 0 Reactant cofeeding (5.3)
0

Where the transmembrane flow (Fjimp) for the reactants was calculated as reported
in Chapter 2.
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5.3 MODELING

The 1D-pseudo homogeneous PBR and PBMR reactor model described in section
6.6 (Chapter 6) were used to simulate the experiments carried out in this chapter.
Being the catalyst particle size in the order of 50-125 pum, internal mass transfer
limitations were neglected. Furthermore, in all experimental conditions, temperature
gradients along the catalyst bed, as well as between reaction and permeation zone,
were found negligible. Thus, the model was considered isothermal. Finally, the
concentration polarization phenomena was accounted for by implementing the
correlation developed in Chapter 6 (section 6.7).

First, the kinetic model of Portha et al. [22] for the methanol synthesis, combined
with the kinetic model of Ortega et al. [23] for the methanol dehydration, were
validated with the experimental data obtained with the differential reactor (section
5.2.1). This validation is reported in Appendix E (Figure El).

Thereafter, the permeance of each species as a function of temperature derived
experimentally for the CMSM were fitted with an Arrhenius law (see Appendix D,
Figure D7), similarly to what is done in Chapter 6 and 7, in order to implement the
membrane properties in the reactor model.

5.4 RESULTS AND DISCUSSION

5.4.1 Catalyst properties and activity tests

The physical properties of the CuO/ZnO/ALO; (CuZA) and HZSM-5 catalyst are
summarized in Table 5.3. The apparent density of the catalyst (py, cat) Was calculated
via the catalyst porosity (gcat), determined from the N> physisorption analysis.

The TPR profile of the CuZA catalyst (see Appendix D, Figure D2) exhibits three
peaks after deconvolution at 212 °C, 228 °C and 242 °C. No further reduction of
the support, due for example to Ha spillover, was measured. Therefore, a reduction
temperature of 280 °C, as suggested also in literature [24], is believed to be sufficient
to reduce all the CuO prior to the reaction tests. The XRD pattern on the calcined
and reduced catalyst (see Appendix D, Figure D3) show the typical diffraction peaks
of CuO at 20 of 35.5° and 38.7°, and those of Cu at 20 of 43.3° and 50.4°,
respectively. Note that CuO crystals smaller than 3-5 nm as well as the Cu that is in
contact with the Zn phase cannot be detected. Thus, the disappearance of the CuO
peak in the XRD pattern of the reduced sample does not necessarily exclude the
presence CuO crystals. The average diameter of the Cu-crystals (dc,), estimated via
the Scherrer’s equation, was 11.7 nm. According to literature, Cu crystals larger than
8.5 nm minimize CO formation during methanol synthesis, and methanol formation
does not depend on the Cu-size when 8.5 nm < d¢, < 37.3 nm [25].

The NH3-TPD profile of the HZSM-5 catalyst (see Appendix D, Figure D4)
consists of two characteristic desorption peaks: the low temperature (LT) peak at
213 °C and the high temperature (HT) peak at 414 °C, corresponding to weak and
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strong acid sites, respectively [26], [27]. The amount of acid sites derived from the
TPD cutrve is reported in Table 5.4.

Table 5.3. Physical propetties of the CuO/ZnO/Al,O3 (CuZA) and HZSM-5 catalyst

Property CuZA HZSM-5
Surface area, S. A. (m?/g) 1121 204.9
Pore volume, P.V. (cm?/g) 0.2576 0.1306
Average pore diameter, P. D. (nm) 7.06 0.55
Catalyst solid density, peqe (g/cm) 1.926 1.201
Catalyst apparent density, pp cq¢ (8/cm>) 1.300 0.720

Table 5.4. Characteristic of the NH3-TPD profile of the HZSM-5

Temperature peak (°C) NH; uptake (umol/g)
LT-peak HT-peak Weak Strong Total
213 414 344 319 664

The DME (YpymE), methanol (Yyeon) and CO yield (Yco) as a function of temperature
at 40 bar, measured with a GHSV of 3400 NL kg;‘lt h™" and a feed composition of
CO2/H2/N;=3/9/1is depicted in Figure 5.4a. The yield of all products expectedly
increases with temperature, since the operation is kinetically limited (ie.,
thermodynamic equilibrium is not yet achieved) at the tested GHSV. The Ypyg and
Yco show a crossover behaviour at 220 °C. In patticular, for a T < 220 °C, Ypyg >
Yco (i.e., DME selectivity larger than 70%); for a T = 220 °C, the situation is
reversed. At the same time, Yyeon is limited, indicating that methanol is effectively
converted to DME. The same trend repeats at all pressures and H»:CO; ratios (see
Appendix D, Figure D5 and Figure D6). However, both pressure and Ha
concentration affect positively the CO, conversion (Xc¢o,) and the DME selectivity,
leading to a shift in the Ypmg-Yco crossover point towards higher temperatures.

Besides DME, methanol and CO, no other products were detected, and full carbon
balance was closed with a maximum error of 3%. Thus, the experiments do not
reveal any evidence of side reactions (e.g., methanol to gasoline).

In addition, the product yield measured at 250 °C (Figure 5.4b) did not show any
significant changes within 40 h of time on stream, indicating that, in these conditions
and timespan, catalyst deactivation appears to be negligible.

Finally, the experimental data obtained in this study were used to validate the kinetic
model described in Chapter 6 (see Appendix E, section E.1). The alignment between
kinetic predictions and experimental data further supports the absence of
deactivation or any other phenomena that would otherwise alter kinetic activity of
the catalyst upon operation.
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Figure 5.4. DME, Methanol and CO yield as a function of temperature (a) and as a function

of the time on stream at 250 °C (b) measured at 3400 NL kgt h™! and a feed composition of
COz/Hz/Nz = 3/9/1.

5.4.2 Separation performance of the CMSM

The membrane properties in terms of water permeance (#y,0) and perm-selectivity
(Su,0,i) derived at 200 °C are reported in Table 5.5. For comparison, the average
properties of the membranes studied in Chapter 3 and 4, as well as the target
properties set via the optimization study presented in Chapter 2 are also reported. It
is clear that the target §y,o was successfully achieved in the membranes studied in
Chapter 3-4, while the targets in Sy, Were in most cases not achieved. With
respect to the new membrane prepared in this chapter, it evidently has a much
greater permeance (i.e., y,0 in the order of 10-° mol-Pa-'m2s1), and a consequently
lower selectivity (i.e., Sy,osi , especially for the H,O/CO,, H,O/CO and
H>O/MeOH pairs) than the previous membranes. This is in line with the decrease
in carbon layer thickness of this new membrane with respect to the previous, as
discussed in section 5.2.2. Nevertheless, an improvement of the separation
properties (i.e., increase in selectivity) could be obtained by depositing one or more
carbon layers on top of the first one, using the same synthesis method described in
previous chapters.

In general, the highest gy, corresponds to the lowest Sy, /3 in the range reported
in Table 5.5. For all membranes, Sy,o/u, is always the smallest perm-selectivity, due
to the very similar size of the two molecules. Indeed, despite capillary condensation
phenomena, H>O and H: are believed to compete for their access to the molecular
sieving pores, as discussed in previous chapters. Furthermore, Sy,0,co is always
greater than Sy, 0,co,, since CO2 shows significant affinity to the membrane surface,
favoring adsorption diffusion over molecular sieving for some membranes. On the
other hand, Sy,0,c0 and Sy,o/meon show the expected behavior, based on the
predictions of Chapter 2, and the corresponding values achieve the target in most of
the cases.
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Given the challenges in working with DME in a laboratory setting (due to its
vapor/gas equilibrium at room conditions), the permeance of DME through CMSM
could not be measured in previous chapters of this thesis. Nevertheless, this
parameter was believed to be less relevant for the optimization/selection of the
CMSM, as already explained in Chapter 2. For the first time in this thesis, the
permeance of DME is measured in this work. Interestingly, #pmg was found to
decrease strongly with temperature (see Appendix D, Figure D7), indicating that
adsorption diffusion is the dominant transport mechanism for DME. Its activation
energy is quite large when compared to COz (i.e., -163 vs -4.09 kJ-'mol'K-1) and the
Su,0,pME spikes from 2.61 to 237 when temperature increases from 200 to 260 °C.
This means that DME adsorbs more strongly on the CMSM surface, such that its
transport due to surface diffusion is more limited at higher temperatures.

Table 5.5. Properties of the membrane of this work compared to the average properties of
the CMSM studied in Chapter 3 and 4 and to the target set via the optimization proposed in
Chapter 2. All membrane properties are reported at 200 °C

Membrane property Target CMSM CMSM of this
Chapter 3-4 Chapter
1,0 (mol-Pa'm2s1) 4107 (1.25-7.54) 107 1.39 -10¢
Shy0/H, () 50 1.68-6.74 2.06
Sn,0/c0, ) 30 5.33-14.6 2.37
Sty0/c0 () 30 8.90-49 3.99
Sy0/Me0n () 10 4.01-17 2.39
SHZO/DME O - — 2.61

More details on the permeation properties of this membrane as a function of
temperature are reported in Appendix D.

5.4.3 Packed bed membrane reactor performance and model validation

Effect of the GHSV

The reactor model describes quite accurately the performance of both the PBR and
PBMR as a function of the GHSV in terms of CO; conversion (Figure 5.5a) and
product yield (Figure 5.5b). As displayed in Figure 5.5, the PBMR outperforms the
PBR in the entire range of GHSV explored, with greater improvement as the GHSV
decreases (i.e., closer to thermodynamic equilibrium), as reported in Table 5.6. At
lower GHSYV, the concentration of water in the reaction zone is higher, which makes
its removal via the CMSM more effective.

Nevertheless, the improvement in the Ypyg is considerably lower than the increase
in the Y¢o. This is partly explained by a relatively low concentration of methanol in
the reaction zone, which limits the extent of DME synthesis. Indeed, despite CO
and DME removal being quite similar (i.e., 45% and 47% at GHSV of 400
NL kggs h™1, respectively), methanol is being removed as much as water (i.e., 52 and
49% at GHSV of 400 NL kg h™?, respectively). This behavior is also discussed in
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Chapter 7, where it is observed that even for large Sy,0/meon (ca. 5), the methanol
loss through the membrane notably decreases the Ypyg in the PBMR.

Severe removal of CO, as measured within the PBMR experiments, is detrimental
for this process because, together with water removal, it enhances the rWGS
reaction considerably, leading to unselective CO2 and Hz consumption. At the same
time, the permeated CO cannot be further converted to methanol (i.e., via the CO
hydrogenation). This explains the higher selectivity to CO obtained in the PBMR
with low Sy, 0,co (i.c., 26.3% vs 35% obtained at a GHSV of 400 NL kg, h™! with
the PBR an PBMR, respectively).

An effective solution to prevent methanol permeation is the recirculation of
permeated methanol in the sweep gas together with Hz and CO», as a way to decrease
the driving force across the membrane. However, this solution could not be tested
experimentally due to the setup limitations (i.e., the setup does not have a
recirculation loop, and no feeding system for methanol).

In principle, this solution could be adopted also to prevent CO permeation.
Nevertheless, according to the PBMR modeling predictions (see Chapter 6 and 7)
with the membrane properties discussed in Chapter 3-4 (i.e., which met the target
set in Chapter 2 for Sy,0/c0), the removal of CO is not relevant. Thus, in such
condition, the improvement in DME yield becomes similar to the those in CO:

conversion, meaning that the product distribution is not much affected with respect
to the PBR.
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Figure 5.5. CO; conversion (a) and DME and CO yield (b) as a function of the GHSV for
both the PBR and PBMR derived experimentally (matkers) and via simulations (continuous

lines). Other operating conditions: PR=40 bar, T=200 °C and a feed composition of Ho/CO>
= 3; 2 SW=1 and AP=0 bar were used for the PBMR.
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Table 5.6. Improvement of the reaction performance (CO; conversion, DME yield and CO
yield) of the PBMR with respect to the PBR evaluated experimentally.

Improvement determined at GHSYV of:

Reaction
performance 400 NLkg_h™' 1300 NLkgzih™' 2600 NLkgzih™!
CO, conversion +40.5% +37.3% +34.9%
DME yield +26.8% +21.8% +15.8%
CO yield +75.3% +43.1% +21.8%

Effect of the SW ratio

As thoroughly studied in Chapter 2 using modeling tools, Figure 5.6a demonstrates
experimentally that large SW ratios indeed increase the reaction performance (i.e.,
COz conversion and product yield). Greater SW ratios remarkably increase the
extent of product removal (Figure 5.6b). Indeed, the water removal (Ry, o) increases
from 52% to 80% along with the removal of all the other products, from 45-47% to
65-68%, upon increasing SW from 1 to 5, respectively, with the Rpyg being the
lowest. As already discussed, this leads to a larger improvement in the CO rather
than the DME formation with respect to the PBR (i.e., 66% and 112% improvement
for Ypumg and Yo, tespectively, at SW of 5).

Furthermore, as also observed via the model prediction in Chapter 2, a low Sy, o/u,
and/or Sy,0,co,, in this particular reactor configuration (i.e., circulation of a sweep
gas containing the reactants), leads to the back-permeation of reactants from the
permeation to the reaction zone. Indeed, larger SW ratios leads to a more efficient
removal of the water, which, as a consequence, increases CO2 and H» conversion.
As a result, the CO2 and H» concentration in the reaction zone decreases axially,
while their concentration in the permeation zone is barely affected due to the high
dilution of the permeating species in the sweep gas. Thus, given their transmembrane
concentration gradient, the CO; and H» permeate towards the reaction zone (i.c.,
CO2 and Hy cofeeding).

However, Figure 5.6b shows that the extent of CO2 and Hx cofeeding (CoF¢q, and
CoFy,) is not significantly affected by the SW ratio in this range (i.e., SW of 1-5).
This could be attributed to the significantly high ¢, and gy, for this CMSM,
which leads to a significant CoF¢q, and CoFy, of ca. 28% and 19%, respectively,
already at SW of 1.

Finally, Figure 5.6a shows that the PBMR model developed in Chapter 2 and 6
describes very well the reaction performance, including the effect of SW ratio.
Nevertheless, the model slightly underpredicts the Yco and Yyeon, while it estimates
a slightly higher Yppg. This discrepancy is explained by the fact that the membrane
properties have been measured with binary mixture (i.e., vapor/gas), rather than with
a multicomponent system. Thus, interactions among the species are neglected also
in the model. However, given its large kinetic diameter, DME is expected to
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permeate less when competing with the other species in the system, which could
explain the lower Ypyg measured experimentally.
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Figure 5.6. CO; conversion and product yield (a) and product removal/reactant cofeeding
(b) for the PBMR at different SW ratios (1,3, and 5) derived experimentally and via
simulations, in comparison with the reaction performance of the PBR obtained in the same
conditions. Other operating conditions: PR=40 bar, T=200 °C,a GHSV of 400 NL kg h™!
and a feed composition of Ha/CO» = 3; AP=0 bar wete used for the PBMR.

Effect of temperature

The effect of temperature on the reaction performance is depicted in Figure 5.7,
where the thermodynamic limit is also reported for comparison. In these
experiments, a SW of 5 was used given the results reported in the previous
paragraph. The PBMR and PBR models accurately describe also the effect of
temperature on the CO; conversion and product yield, predicting a slightly higher
Ypme and lower Yco and Yyeon for the PBMR, with respect to their experimental
values, as previously discussed.

Given the low GHSV used in these experiments, the system is more affected by the
thermodynamic equilibrium, especially at high temperature, which corresponds to
faster reaction rates. Indeed, CO; conversion and product yield of the PBR achieve
their thermodynamic limit at 260 °C (i.e., continuous line in Figure 5.7). It should
be noted that the Y¢o of the PBR is slightly larger than its thermodynamic value for
temperatures below 260 °C. Since CO is not only a product in this reaction network,
but also a reactant for the methanol synthesis (i.e., reversible reactions in series), a
Yco beyond the thermodynamic curve indicates that the extent of CO conversion to
methanol is not at its maximum value (i.e., CO hydrogenation has not achieved
equilibrium). More details on this observation are given in Appendix D. As a matter
of fact, the profile of Y¢o in a conventional PBR is characterized by a maximum,
after which CO starts to react to form methanol and finally achieves thermodynamic
equilibrium.

The behavior of the PBMR with temperature is more complex than that in the PBR,
due to the alteration of the thermodynamic equilibrium caused by the
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product/reactant separation. Nevertheless, since the membrane removes products
more effectively when their concentration in the reaction zone is higher (i.e., closer
to the thermodynamic equilibrium), the PBMR trend with temperature resembles
that of the PBR.

From Figure 5.7a, it is clear that the introduction of the membrane enhances the
COz conversion in the entire temperature region explored (i.e., 200-260 °C),
exceeding thermodynamic equilibrium for temperatures greater than 220 °C. As a
matter of fact, water is the main reaction by-product of both the rtWGS and CO»
hydrogenation to methanol and DME, which means that the in-situ removal of
water, and any other products, positively affects CO» conversion.

However, a higher X, does not necessarily mean a higher selectivity to the desired
product. Indeed, Figure 5.7b clearly shows that the improvement in Ypmg
becomes negligible for temperature higher than 200 °C, dropping from 67% to -
8.7% at 260 °C. This indicates that at the highest tested temperature, the PBMR
leads to alower Ypyug than the PBR. This behavior is explained by the extremely high
extent of product removal obtained in these conditions. Indeed, for temperatures
above 200 °C, R; achieves ca. 98-99% for all products, indicating that all methanol
is being removed from the reaction zone and cannot be effectively converted to
DME. As a consequence, Ypyg never exceeds its thermodynamic limit in these
conditions.

At the same time, as temperature increases, the PBMR considerably improves the
performance of the rWGS reaction well above its thermodynamic equilibrium,
leading to a Y¢g ca. 2.7 times higher than the PBR at 260 °C (Figure 5.7¢). Indeed,
CO formation is favored by high temperature, given the endothermicity of the
reaction. In addition, due to the reaction stoichiometry, the rtWGS requires a lower
H2:CO:; ratio than the methanol synthesis, which makes it even faster and favored
in these conditions, where H» is being removed more than COz (see f; trend vs
temperature in Appendix D, Figure D7). All this explains why, given the similar
extent of methanol and CO removal, the CO formation is favored over methanol
synthesis (Figure 5.7c and d).

It should be noted that thermodynamic limitations are altered by the presence of the
membrane. However, qualitative thermodynamic considerations are still valid, since
the presence of the membrane alters the composition of the system, which
corresponds to a different chemical equilibrium (i.e., dynamic equilibrium) [28].
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Figure 5.7. CO; conversion (a), DME yield (b), CO yield (c) and methanol yield (d) as a
function of temperature for the PBMR and PBR detived experimentally and via simulations.
Other operating conditions: PR =40 bar, a GHSV of 400 NLkggih ! and a feed
composition of H/CO; = 3; SW=5 and AP=0 bar were used for the PBMR.

As already anticipated, the product removal increases to ca. 98-99% for all products
as temperature increases above 200 °C, despite both §y,0 and @yeon decrease with
temperature, due to their permeation mechanism. However, as shown in Chapter 2,
once the target permeance has been achieved, its effect on the reaction performance,
including product removal, is not relevant. Given the very high permeance of the
CMSM used in this work, also at the highest temperature (i.e., 260 °C), 4,0 is 2.6
times higher than its target value determined in Chapter 2. In addition, given the fast
reaction rates at higher temperatures, a large gradient in the driving force across the
membrane develops for all products, favoring their removal from the reaction zone.

Alongside the increase in the product removal, at higher temperature also the
reactant cofeeding becomes consistently higher, with CoF¢q, and CoFy, achieving
ca. 130%. Note than values higher than 100% are possible due to the circulation of
the sweep gas (i.e., for SW=1, the maximum cofeeding is 100%, which corresponds
to the situation in which all the CO» and/or Hz back-permeate to the reaction zone).
Reactant cofeeding is also not highly beneficial to the PBMR performance. When
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either CO2 or H; are introduced in the reaction zone at a specific length of the
catalytic bed, their residence time is lower than if they were introduced at the reactor
inlet. Therefore, they do not have enough contact time with the catalyst, which
overall leads to a lower conversion/yield (see Eq. 5.4-5.8).

R R
Xcoz _ Fcozo - Fco2 - FCOZ,tmb (5_4)

FcRoZ,o + Fo,tmb
_ Nei(FR +FF) (5.5

i~ LR *
Fco, 0+ Fco,tmb

Fo,tmb = Feo, — Fcpoz‘o CO; transmembrane flow (5.6)
Feo,tmp = 0 if Feo,tmp = 0 Reactant loss .7
. - . (5.8)
Fco,tmb = —Fco,,tmb if Feo,tmp < 0 Reactant cofeeding
Effect of the AP

Experiments with a AP larger than 0 were particularly difficult to conduct, given the
very high permeability of the CMSM used in this work. Indeed, as soon as a slightly
positive AP is imposed, even with no reaction, all the gas permeates from the
reaction to the permeation zone, leading to a drop in the retentate pressure (PR) |
until it equilibrates with the permeate pressure (PF). To prevent this situation, a high
flow rate had to be used as feed to the reaction zone (i.e., GHSV of 2600
NL kg;llt h™), to ensure that enough gas was left in the reaction zone to keep the
pressure.

Given this initial consideration, the extent of product removal and reactant loss
expectedly achieves ca. 98-99% for a AP=3 bar (Figure 5.8b), which leads to very
poor performance of the PBMR (i.e., CO2 conversion 16% lower than the PBR).
This was also confirmed by the simulations, where already at a length of 1.86 cm
(i.e., in the middle of the PBMR), the CO2 and H: flow in the reaction zone becomes
zero. A similar situation applies at AP=1.5 bar, where CO; and H» flow becomes

zero at the outlet of the reaction zone (see flow profiles in Appendix D, Figure D8
and Figure D9).

Thus, for a AP >0, the PBR outperform the PBMR both in terms of CO»
conversion and product yield (Figure 5.8a). This is also predicted by the PBMR
model. The slightly lower accuracy of the PBMR model in these conditions can be
ascribed to the fact that when the CO» and H» concentration approaches zero, the
model becomes unstable (i.e., the denominator of the kinetic rate expressions
depends on these nearly zero CO2 and H» partial pressures).

Better performance are expected for SW ratios larger than 1, which could not be
tested due to the limitation of the MFCs.
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Figure 5.8. CO; conversion and product yield (a) and product removal/reactant cofeeding
(b) for the PBMR at different AP (0, 1.5, and 3) derived experimentally and via simulations,
in comparison with the reaction performance of the PBR obtained in the same conditions.
Other operating conditions: PR=40 bar, T=200 °C, a GHSV of 2600 NLkgzi h™! and a
feed composition of Hy/CO, = 3; SW=1 bar wete used for the PBMR.

Stability test

The productivity of the PBMR in terms of DME flow rate in both retentate (FRyg)
and permeate (Fhyg) streams was recorded with time during the stability test (Figure
5.9). The DME flow in the permeate stream allows to identify three regions:

Chapter 5

1. 1In the first region, the Fhyg increases up to a maximum since the CMSM is
desorbing the water previously adsorbed during the catalyst reduction step
(e, CuOg + Hyy = Cugy + Hy0 ). As water desorbs from the
membrane pores, the active pore size increases, which corresponds to a
higher DME permeance.

2. In the second region, the Ffyg decreases, since the CMSM is stabilizing
with the humidity content of the reaction zone. Indeed, the separation
performance of carbon membranes are very sensitive to the humidity
conditions, as discussed in Chapter 4. Different level of humidity
corresponds to a different active pore size, which can significantly affect the
extent of gas permeation and its mechanism.

3. In the third and last zone, the PBMR performance stabilize to the values
reported in the previous section for this experimental conditions. Both
FRuE and FEyg achieves a constant value, which leads to an overall DME

yield of 14.3%.
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Figure 5.9. DME flow in the retentate (blue symbols) and permeate (red symbols) stream
as a function of the time on stream, monitored during the stability test carried out at PR=40

bar, T=200 °C, GHSV of 400 NL kgck h™1, SW=5, AP=0 and a feed composition of H2/CO>
=3.

It should be noted that a full carbon balance was respected at all times, also during
the dynamic (first and second) regions. When more DME is produced, less methanol
is detected.

From this experiment, it is possible to conclude that the PBMR performance are
stable in these conditions and that no deactivation phenomena are observed for
neither the membrane nor the catalyst.

The PBMR performance reported in the previous sections correspond to their
steady-state value (i.c., region 3). Indeed, after the reduction step, the membrane was
first stabilized at the reaction temperature and under inert flow (N2), to remove the
extra water adsorbed. Thereafter, reaction was started and the performance were
analysed after ca. 12 h.

5.5 CONCLUSIONS

This study demonstrates, at laboratory scale, that the incorporation of carbon
molecular sieve membranes in conventional packed bed reactors allows for an
improvement, in most of the cases, in the performance of the one-step CO2
conversion to DME.

In order to demonstrate the PBMR technology, the activity of the CuO-ZnO-
AlLO3;/HZSM-5 bifunctional catalyst for the CO» hydrogenation to DME was first
assessed in a PBR. The catalyst was found to be active and stable for this reaction.
Furthermore, the kinetic model developed in Chapters 2 and 6 describes well the
reaction performance in the range of conditions of interest for this study (i.e., 10-40
bar and 200-260 °C).
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Due to small modification in the membrane preparation procedure (i.e., dilution of
the dipping solution), the CMSM used in this work showed a much higher water
permeance with respect to the membranes studied in the previous chapters (i.e.,
$u,0 one order of magnitude larger) and a consequently lower vapor/gas selectivity,
especially for the H,O/CO,, H,O/CO and H,O/MeOH pairs. Despite the
permeance of this CMSM not matching with the target set in Chapter 2, the PBMR
was found to outperform the PBR in most of the experimental conditions. In
particular, the CO, conversion was found to be 35%-40% higher than the PBR, for
a SW=1 and AP=0. Lower GHSV led to larger improvement, due to the system
approaching its thermodynamic equilibrium (i.e., higher concentration of water).
Nevertheless, the PBMR improves CO formation more than DME (i.e., Ypug and
Yco improve of 27% and 75% at a GHSV of 400 NL kg h™, respectively), due to
the considerably large extent of both CO and methanol removal from the reaction
zone. Better membrane performance and the recirculation of the permeated
methanol in the sweep gas would prevent this problem.

Expectedly, the SW ratio was found to have a positive effect on the reaction
performance, with the removal of water achieving ca. 80% at SW=5. Also in this
case, due to the removal of methanol and CO (ca. 70%), Ypmg and Yeo increase of
66% and 122%, respectively, for a SW=5. Temperatures higher than 200 °C were
found to improve the rWGS reaction more than the DME synthesis, such that at
260 °C, the Ypmg of the PBMR is lower than for the PBR. This is because at higher
temperature, given the fast reaction rates, product removal achieves ca. 98-99% for
all species, due to the very large driving force. Thus, methanol cannot be converted
to DME, while the removal of CO improves the rWGS. Finally, given the high
permeability of this CMSM, higher AP were not beneficial on the reaction
performance, due to the excessive loss of reactants (98-99% for a AP=3 bar).

The stability of the PBMR was also tested for ca. 120 h, from which it was observed
that the membrane needs some equilibration time to stabilize with the humidity
condition of the reaction environment, after which the reaction performance are
constant over time.

The reactor model developed in Chapter 6 was found to describe the performance
of both the PBR and PBMR very accurately in the range of tested conditions.
Nevertheless, in some cases, the model slightly underpredicts the Yco and Yyeon,
while it estimates a slightly higher Ypyvg than the experimental value. This difference
can be ascribed to the CMSM permeation properties implemented in the model,
which do not account for the interactions of the species in a multicomponent
system.

In conclusion, although this study was not carried out with the optimal membrane
as defined in previous chapters, the improved performance of PBMR technology
for the CO; hydrogenation to DME was demonstrated. Most importantly, the
reactor models developed and extensively used in other chapters, were hereby
validated. This means that, with optimal membrane properties, even better
performance are to be expected. Nevertheless, as also concluded in Chapter 2, the
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PBMR conditions, especially in terms of SW and AP, can be further optimized as a
function of a specific set of membrane properties, for example to address poor

perm-selectivity/high permeability issues. This guarantees robust and effective
operation of the PBMR.
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Appendix D

D.1 Supplementary figures
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Figure D1. CO; conversion (a) and DME and methanol (MeOH) yield (b) as a function of
temperatute at 40 bar, 11630 NL kgoi h™! and a feed composition of CO2/Hz/N, =3/9/1
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Figure D2. H, consumption profile of the CuO/ZnO/ALO3 catalyst as a functon of
temperature obtained via TPR analysis. Black circles represents experimental points, while
the three dashed lines result from the deconvolution.
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Figure D3. XRD spectra of the calcined (red line) and reduced (black line)
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Figure D4. NHj; desorption profile of the HZSM-5 catalyst as a function of temperature
obtained via TPD analysis. Black circles represent experimental points, while the two dashed

lines result from the deconvolution.
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Figure D5. CO; conversion (a) and DME and CO yield (b) as a function of temperature at
different total pressure, measured for the CuZA/HZSM-5 at a GHSV 11630 NL kg h™*
and a feed composition of CO2/Hz/N, = 3/9/1.
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Figure D6. CO; conversion (a) and DME and CO yield (b) as a function of temperature at
different Hx:CO, ratios (FR), measured for the CuZA/HZSM-5 at a GHSV 11630
NL kgzi; h™* and a total pressure of 30 bar.
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Figure D8. Flow profile of reactants in the reaction (a) and permeation zone (b) and of
products in the reaction (c) and permeation zone (d) as a function of the reactor length as
predicted by the PBMR model at AP=1.5 batr, SW=1, PR =40 bar, T=200 °C, a GHSV of
2600 NL kgzi; h™! and a feed composition of Ho/CO, = 3.
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Figure D9. Flow profile of reactants in the reaction (a) and permeation zone (b) and of
products in the reaction (c) and permeation zone (d) as a function of the reactor length as
predicted by the PBMR model at AP=3 bar, SW=1, PR =40 bar, T=200 °C, a GHSV of
2600 NL kgzi: h™* and a feed composition of Ho/CO, = 3.

D.2 Thermodynamic equilibrium of intermediate products

The concentration profile along the reactor obtained for successive reversible
reactions depends on the ratio of the reaction rates [29]. Nevertheless, the
concentration of all species, for a suffieicntly long reactor, will approach
thermodynamic equilibrium. Considering the following general system:

A=R=S

Where A coverst to R with a reaction rate ry, and R converts to S with a reaction
rate rg. If rpa/rg > 1, the concentration of R displays a maximum vs the reactor
length to then decrease and approach its equilibrium value. This scenario represents
a build-up of the concentration of the intermediate product/reactant (R), before its
after conversion rate (rg) can become significant and achieve equilibrium.

In this specific system (COx-to-DME), two situations can be identified: 1) CO
formation (r,) and its hydrogenation (r;) to methanol and 2) methanol formation
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(r; + r3) and its subsequend dehydration (2r,). The ratio r,/ry, calculated near the
reactor entrance, varies from 1492 to 47 in the temperature range 200-260 °C. This
explain the higher CO concentration measured with respect to its equilibrium value
at lower temperatures. On the contrary, the ratio between methanol synthesis and
dehydration rate is always close to 1, which means that methanol concentration does
not achieve any maximum along the reactor.
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CHAPTER 6

Evaluation of the relevant mass and heat transfer
phenomena in a packed bed membrane reactor for the
direct conversion of CO: to dimethyl ether

Abstract

This chapter investigates the relevant heat and mass transfer phenomena occurring
at the different scales in a packed bed (membrane) reactor for the direct conversion
of COz to dimethyl ether (DME) via the implementation of heterogeneous 2D
reactor models. Intra-particle diffusion limitations were found to be relevant for
particle diameters larger than 1 mm and temperature above 220 °C, with the catalyst
efficiency dropping up to 50% and 5% for the Cu/ZnO/Al,Os and the HZSM-5,
respectively. A Thiele modulus-efficiency correlation was developed based on the
results of the rigorous particle model. This correlation shows the typical behavior
reported in literature for power law kinetics and accurately predicts the reaction
performance with deviation of less than 5% for values of the Thiele modulus lower
than 2. In the packed bed membrane reactor (PBMR), the concentration polarization
(CP) also showed to affect the reactor performance. The concentration of water at
the surface of the membrane selective layer was found to be up to 64% lower than
the concentration in the bulk phase, hindering the effectiveness of the membrane
separation. To account for this phenomenon via a simplified approach, a Sherwood-
type correlation was developed to determine a CP mass transfer coefficient, based
on the results obtained via the rigorous 2D PBMR model. Such correlation showed
to predict with high accuracy (i.e., errors lower than 5%) the effect of the CP on the
PBMR performance.

This chapter is based on the following paper:

Poto, S., van den Bogaard, H.L., Gallucci, F., & Neira d’Angelo, M. F.. Evaluation
of the relevant mass and heat transfer phenomena in a packed bed membrane reactor
for the direct conversion of COz to dimethyl ether. Submitted to Fuel
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6.1 INTRODUCTION

Reactor modeling is an essential tool for the design and scale-up of different reactor
technologies but can be also used to identify the relevant transport phenomena
occurring in the reactor. The latter scope is key to identify the bottlenecks of the
system and to consequently propose solutions and reaction intensification strategies.

At the very first stage, a reactor model is developed based on the most simplistic
hypotheses, which often include an ideal flow pattern, combined with a kinetic
regime (see chapter 2), often analyzed under isothermal and isobaric conditions.
These hypotheses are valid under certain conditions, which usually verify at
laboratory scale, where the size of the system is such that deviation from ideality can
be neglected and unwanted phenomena (i.e., heat/mass transfer limitation) can be
easily avoided by properly selecting the operating conditions [1], [2]. Nevertheless,
when such hypotheses fail, more rigorous reactor models, which include the
interplay of multiscale heat and mass transfer phenomena become essential. In the
majority of the cases, these models have to deal with multiple phases (ie.,
heterogeneous model) and are described by a complex non-linear system of
equations [3]. Thus, rigorous reactor modeling requires specifically developed
software and is usually computationally expensive, requiring long simulation times
and a significantly larger memory allocation space. Therefore, evaluating the
relevance of the heat and mass transfer at different reactor scales is crucial to identify
the phenomena which affect the reactor behavior and that, as a consequence, must
be accounted for. This is even more important when it comes to investigate novel
technologies, such as membrane reactors, coupled with relatively complex reaction
schemes, such as CO; utilization pathways.

In this chapter, the mass and heat transfer phenomena in a packed bed (membrane)
reactor for the direct conversion of CO; to dimethyl ether are investigated at
different scales. To that end, the work uses a bifunctional catalysts based on the
physical mixture of Cu/ZnO/ALO; and HZSM-5.

A particle model was developed to assess the extent of intra-particle mass and heat
transfer limitations in relevant reaction conditions, as well as their impact on the
performance of the packed bed reactor, with and without the membrane (i.e., PBR
and PBMR, respectively). The choice of the catalyst particle diameter in
fixed/packed bed reactors is crucial. Large particles inhibit severe pressure drops,
but, at the same time, induce significant internal mass transfer limitations. These
limitations are often neglected and not quantified in literature, given the complexity
of this reaction system. Indeed, simulation results often led to unrealistic values in
terms of catalyst efficiency [4], [5]. More recently, Chakib et al. developed a
heterogeneous reactor model to study the pore-diffusion limitations involved in the
one-step DME synthesis from CO»-rich feedstocks, using bifunctional catalyst based
on Cu/Zn0O/AlLO3 and 3-ALOs3 [6]. In this study, it was found that the internal mass
transfer limitation are significant for particle diameter larger than 2 mm, while the
maximum temperature difference in the particle is never above 1 °C. However, in
the aforementioned study, there’s no distinction between the methanol synthesis and
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dehydration catalyst particles. Furthermore, p-AlOsis used instead of zeolites. The
7-AlO3 has usually pores between 5-20 nm, while HZSM-5 is known for its
microporous structure, as well as for enhancing the DME formation rate [7], which
are two features that could render the effect of pore-diffusion even more limiting.
Furthermore, in literature, rigorous heterogeneous models have been developed and
solved to account for internal mass/heat transfer limitations. In this work, once
identified the relevance of these phenomena using a rigorous modeling approach, a
Thiele modulus-efficiency correlation was developed for the calculation of the
effective reaction rate via a short-cut method, which does not require to couple
reactor and particle model. This method was developed from the more rigorous
particle model and later verified comparing the results of the heterogeneous and
pseudo-homogeneous reactor model.

Thereafter, the particle-fluid interphase was investigated, to assess the relevance of
any external mass or heat transfer limitation, which means the presence of
concentration and temperature gradients from the bulk fluid phase to the surface of
the catalyst particle (i.e., in the particle boundary layer). In laminar systems, with little
mixing or low superficial velocities, these gradients can be significant. However,
these phenomena do not add much complexity to the reactor modeling, and can be
accounted for using state-of-the-art correlations to define heat and mass transfer
coefficients. Indeed, several empirical Sherwood/Nusselt type cortelations have
been developed in the past, based on physical properties of the fluid and
characteristics of the packed bed (e.g., particle size, bed porosity, etc.) [2], [8].

Packed bed reactors are usually modeled as plug flow reactors (PFRs), based on the
assumption of no mixing in the axial direction. However, in real conditions, mixing
can be relevant due to the diffusion, the turbulent flow around the solid particles or
to the presence of radial velocity profiles [2]. In this work, deviations from the ideal
plug flow behavior were analyzed via the implementation of the axial dispersion
model. Similarly to the external mass/heat transfer phenomena, a state-of-the-art
correlation was used to determine the axial dispersion coefficient [9].

The introduction of the membrane in the packed bed reactor adds more complexity
to the transport phenomena. Indeed, concentration gradients can develop in the
radial direction giving rise to a phenomenon which in membrane separation is
known as concentration polarization (CP). CP occurs when the concentration of a
species increases or decreases in the proximity of the membrane surface (i.e., in the
boundary layer) due to the species permeation, thus affecting the overall rate of
permeation. This phenomenon is analogue to the fluid-particle mass transfer. Thus,
different types of correlations based on either Sherwood or Peclet number have been
empirically developed in the past, mostly for gas separation processes (i.e. no
reaction and absence of catalytic bed) [10], [11]. Specific correlations for this system
have never been developed and such phenomenon has often been neglected,
especially for porous membranes and for vapor permeation. Therefore, a 2D packed
bed membrane reactor model was developed in this study to evaluate the relevance
of the radial concentration gradients generated by the presence of the membrane.
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From the simulations results of the 2D model, a Sherwood-type correlation was
developed to account for the CP phenomena via a simplified approach. Indeed, the
CP mass transfer coefficient allows to correct the driving force for the permeation
flux, without the need to solve 2D equations.

Finally, solutions to mitigate the effect of these mass and heat transfer limitations
on the performance of both the PBR and PBMR were proposed, together with
alternative reactor designs to complement the work reported in chapter 7.

6.2 METHODOLOGY AND NUMERICAL IMPLEMENTATION

6.2.1 Reaction scheme and kinetic model

The direct hydrogenation of CO2 to DME is described by the following reaction

scheme:
CO hydrogenation: CO + 2H, 2 CH;0H AHo = -49.5k]/mol  (R1)
Reverse water gas shift: ~ CO, + Hy 2 CO + H0O AHo=412kJ/mol  (R2)
CO: hydrogenation: CO + 3H, 2 CH;0H + H,0 AH, =-90.5kJ/mol  (R3)
Methanol debydration: ~ 2CH;0H 2 CH3;0CH; + H,O ~ AHp=-23.4kJ/mol  (R4)

The reactions R1, R2, R3 are assumed to be carried out over a Cu/ZnO/AlLO3
(CuZA) following the kinetic of Portha et al. [12], while reaction R4 occurs over a
HZSM-5 catalyst, according to the kinetic of Ortega et al. [13]. The reaction rates
expressions are reported in Eq. 6.1-6.4.

p. p/2 Pehgon
CO'H, — L1/2
PR,

b
pl/2 H:0 | p
’ (biz) ’ l
2

PcoPu,0
Peo, Pu, — K—zz
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1/2 H,0
PHZ + (bliz > PHzOl
H;

Perr. o P
3/2 CH;0HPH,0
Peo, Py,” — —Pi/z " 2
H, 3

b
1/2 H,0
PHZ + (bliz > PHzOl
H;

(benonPezon)?[1 — PHZOPDME/(PC2H3OHK4-)]} (6.4)
" 2
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Where P, is the partial pressure of each component in the reaction zone. The kinetic
constants (K;), the adsorption constants (b;) and the equilibrium constants (K;) are
reported in Appendix E. The kinetic model was validated with experimental data
obtained with a physical mixture of 50 wt % Cu/ZnO/ALO; and 50 wt % HZSM-
5 (see Appendix E, section E.1).

6.2.2 Properties of the membranes used

The membranes used for the PBMR are alumina supported carbon molecular sieve
membranes (AI-CMSM). The permeation properties of these membranes are
reported in Chapter 3 (CMO08). The permeance of each species as a function of
temperature derived experimentally was fitted with an Arrhenius law and the
resulting equations are reported in Table 6.1 (see quality of the fit in Appendix E,
Figure E2). DME permeance was assumed to be 50 times lower than the H,O
permeance, which is a common assumption in literature [14].

Table 6.1. Permeation properties of the membrane CMO08 (Chapter 3) fitted with an
Arrhenius law.

Permeance Expression Units

#1,0 exp (—17.15 + 123T2.45) mol m™2s~1Pa~?!
P, exp (—10.27 - 254,?'20) mol m~2s~1pa~?!
#co exp (—13.06 - 225,;}'52) mol m~2s~1pa~?!
#co, exp (—13.73 - 148;)'84) mol m~2s~1pa~?!
#cn,0H exp (—24.87 + 3771(,)'59) mol m2?s~1Pa~!

6.2.3 Reactor performance indicators

The COz conversion, product yield and selectivity, as defined in Chapter 2 were used
as performance indicators for both the PBR and PBMR. Indeed, when the
membrane is not incorporated in the reactor, the trans-membrane flux of all the
species is set to zero and the model is used to assess the performance of a PBR.

6.2.4 Numerical method

The governing equations used to derive the concentration, pressure, temperature
and velocity profiles have a non-linear character, due to the reaction kinetics.
Furthermore, 20 order derivatives must be simultaneously solved, due to convection
and dispersion, complicating the system even further. Thus, given the non-linearity
and complexity of the system, the Newton Raphson scheme was implemented to
solve the system numerically.

183

Chapter 6




CHAPTER 6

Discretization grid and grid-size analysis

The continuous steady-state governing equations were discretized and evaluated at
set points in space. A central differencing scheme was adopted, which consists in
defining the concentrations, pressure and temperature at the centers of the grid cells
and the gradients at the faces of the grid cells.

As a consequence of the chosen discretization system, velocities were also defined
at the faces of the grid cells. Being the convective terms defined by the product of
velocity and concentration, a first-order upwind discretization was used, meaning
that the concentration at the face of a grid cell is considered equal to the
concentration at the center of the downstream grid cell.

The conditions and gradients at the first and last grid point of the domain are
generally defined by mixed or Robin boundary conditions, which also require
discretization. This was done with a second order Lagrange interpolation near the
boundary of the grid cell where the boundary condition is imposed.

To determine the optimal size of the grid cell in each domain (i.e., particle and
reactor), a grid size analysis was carried out in the conditions producing the steepest
gradients. The optimal size was chosen setting the maximum error relative to the
largest grid size of 10-.

In some cases, the grid size is not uniform along the domain, since a refined grid is
required only in the region with steeper gradients. As an example, in the proximity
of the reactor outlet and at the reactor walls, profiles are expected to be fully
developed and less grid points are required. This optimization was done to minimize
the computation time and the memory allocation space.

Model verification

The models verification was carried out at two stages:

1) Checking the conservation of the total mass in the reactor.

2) Comparing the solution of the numerical model to an analytical solution of
a simplified system (i.e., first order irreversible and elemental reaction A —
B). The relative error of the solution of the numerical model with respect to
the analytical solution was defined acceptable when in the order of 10-,
indicating the correct implementation of the numerical model.

6.3 HEAT AND MASS TRANSFER PHENOMENA AT PARTICLE SCALE

The heat and mass transfer phenomena were investigated at the particle scale, to
assess their relevance at realistic reaction conditions.

The simplified Thiele modulus approach is commonly implemented in pseudo-
homogeneous reactor models to account for intra-particle diffusion limitations
without rigorously modeling the concentration profile in the particle [1], [3].
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However, this method is not directly applicable to this system because of: 1) the
dependency of the reaction rates on both kinetic and adsorption phenomena (i.e.,
Langmuir-Hinshelwood rate equations) and 2) the complexity of the reaction
scheme (i.e., involving multicomponent reactions, as well as parallel and consecutive
reversible reactions).

Similarly, the presence of internal heat transfer limitations cannot be evaluated a
priori, using simplified approaches such as the Prater number, being its derivation
based on the assumption of 15t order kinetic [15].

As a result, the mass and heat transfer phenomena were investigated by modeling
the concentrations and temperature profiles inside the catalyst particle explicitly.

6.3.1 Governing equations and boundary conditions

The governing equations describing the mass (Eq. 6.5) and heat (Eq. 6.6)
conservation in the catalyst particle are reported in Table 6.2 with the corresponding
boundary conditions. The equations are derived for a spherical particle with a radius
Ry. In Eq. 6.5 and 6.6, ;"' and Tj"' are the reaction rate of component 7 and of
reaction j, respectively, based on the volume of the catalyst pellet. The effective
diffusivity of each component (Dgff ;) is assumed to be based on the Knudsen and
molecular diffusion in the pores of the catalyst pellet, accounting also for the
tortuosity and porosity of the particle (see Appendix E) [6]. The effective thermal
conductivity inside the particle (A¢ff), is based on the equation of Coté and Konrad
developed for porous media (see Appendix E) [10]. At the center of the particle (r =
0), the concentration/temperature gradient is set to zero, given the symmetry of the
system. At the surface of the particle (r = R), the concentration/temperature is the
same as in the bulk fluid, assuming the absence of any external (i.e., fluid-particle)
heat and mass transfer limitations, at this stage.

Table 6.2. Governing equations for mass and heat conservation in the spherical catalyst
particle with radius R, and the corresponding boundary conditions (B.C.)

E f B.C. B.C.
quation r=0 r=R,
10 aG; a¢;
Fa(Defﬁ . 1"2 a—rl) + ri”’ =0 (65) a—rl =0 Ci = Ci,bulk
Ny
1 a aT nr aT
T R I P L
j=1

The direct conversion of CO> to DME requires a bifunctional catalyst, which in this
system was assumed to be a physical mixture of two types of catalyst: 1) the
Cu/7Zn0O/Al,O3 (CuZA or Methanol catalyst) and 2) the HZSM-5 (DME catalyst).
The two catalysts have different properties (see Appendix E and Chapter 5) as well
as a different reaction scheme, thus, the concentration of species and temperature is
different in the two particles. As a result, the equations were solved for the two
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particles, separately, computing two different values per each C; and T. The bulk
concentrations and temperature are the same for both particles. The particles have
the same radius as well as the same radial discretization.

6.3.2 Simulation results and discussion

To assess the relevance of the intra-particle diffusion phenomena, the concentration
profiles in the catalyst particles were first determined in a limiting case. Thus,
simulations were run with a particle diameter of 10 mm and at a reaction temperature
of 270 °C to guarantee a longer diffusion path and fast reaction rates, respectively.
In this scenario, in both catalyst particles, the concentration gradients of products
and reactant are quite significant, particularly for the DME catalyst (Figure 6.1).
Indeed, the HZSM-5 particles have very small pores (i.e., average pore size of ca. 3
nm), which explain the lower diffusion rates. Furthermore, the methanol
dehydration reaction is faster than methanol synthesis, which makes the diffusion
step more limiting, thus leading to steeper concentration gradients. As a result,
internal mass transfer phenomena can become limiting in realistic conditions (i.e.,
particle size relevant to industrial applications and at higher temperatures, which can
easily develop in non-isothermal operation). Thus, these phenomena must be
included in the reactor model to obtain more reliable predictions of the reaction
performance.

On the contrary, internal temperature gradients were found negligible even when
simulated in a limiting condition (i.e., fast heat production due to the fast reaction
rate and slow heat diffusion rate). The maximum temperature difference between
the center and the surface of the particle was found to be ca. 0.1 °C for both catalysts
(see Appendix E, Figure E3), which corresponds to a relative difference of less than
0.01%. This result is in agreement with literature, since the absence of internal heat
transfer limitations is often observed in similar systems [15]. Being the temperature
gradients not significant even in a critical situation, the catalyst particles can be
considered isothermal.
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Figure 6.1. Concentration of reactants (left axis) and products (right axis) in the CuZA (a)
and HZSM-5 catalyst (b) particles (Tgurs=270 °C, P=40 bar, dy=10 mm).
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6. Mass and heat transfer phenomena in a PBMR

To account for pore-diffusion limitations at reactor scale, at each position of the
reactort, the concentration profiles in the particles should be explicitly modeled (i.e.,
heterogeneous reactor model), which is computationally expensive. As a result, a
simplified approach which resemble the Thiele modulus-effectiveness factor would
increase the efficiency of the computation significantly. Since none of the state-of-
the-art short-cut methods are applicable to this system, here a specific correlation is
proposed to estimate the catalyst efficiency from parameters which are known at
reactor scale. A component-specific Thiele modulus (¢;) and the corresponding
effectiveness factor (n);) are defined as reported in Eq. 6.7 and 6.8, respectively. The
Thiele modulus compates the maximum reaction rate (i.e., reaction at the surface of
the catalyst particle, r{5,¢) with the maximum diffusion rate. For a reversible
reaction, the maximum/minimum concentration at the center of the particle
corresponds to its thermodynamic equilibrium value (Cjeq). Thus, the maximum
diffusion rate is proportional to the difference Cjeq—Cjsyrs- The effectiveness factor
— or efficiency — (;) is defined as the ratio of the observed — or actual — reaction
rate (r{gps) in the catalyst particle and the reaction rate determined at the surface

conditions (ri’,,s’urf)'

= Vcat ri,,’s,urf (67)
i Acat Deff,i(ci,surf - Ci,eq)

~_ Tiobs 6.8)

' ri’,,s’urf

To assess whether a correlation exists between ¢; and 1; for this system, several
simulations were carried out with the rigorous diffusion-reaction model, varying the
particle characteristic size (0.1-20 mm), the temperature (200-270 °C), the pressure
(30-40 bar), the catalyst geometry (slab, cylinder, sphere) and the surface
compositions. The ¢; and n; evaluated from the simulation results correlates in a
similar way as for 15t order kinetic reactions, as depicted in Figure 6.2a and b for
the methanol and DME catalyst, respectively. However, this correlation does not
hold for CO, which is not reported here (see Appendix E, Figure E4). CO is an
intermediate product of the methanol synthesis, meaning that its profile in the
methanol catalyst particle is not monotonically increasing/decreasing vs the radius
of the particle. On the contrary, it displays a maximum or minimum value, according
to the temperature conditions. This means that CO could diffuse in multiple
directions in the catalyst particle, which is something that it is not taken into account
in the definition of the Thiele modulus. Nevertheless, the methanol synthesis
requires only two independent components, which means that the efficiency of CO
can be eventually derived via mass balance, as follows:

nr (6'9)

" _ " _
2 nCOrCO,surf - T]Hz I'I-Iz,surf 3 r]COZFCOZ,surf

To check if the correlations displayed in Figure 6.2 is general, the same analysis was
carried out using different kinetic models describing the methanol synthesis, such as
the kinetics from Bussche & Froment [17], Graaf et al. [18], Henkel [19], Patk [19]

187

Chapter 6




CHAPTER 6

and the kinetic derived by us in a previous study [20]. It was found that the
correlation still holds even when considering different kinetics.

11 CuZA Catalyst 1o HZSM-5 Catalyst
. T . T
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Figure 6.2. Catalyst efficiency (n;) as a function of the Thiele modulus (¢;) for the different
species in both methanol catalyst (a) and DME catalyst (b) for systems with varying particle
geometty (slab, cylinder, sphere), temperature (200-270 °C), pressure (30-40 bar), patticle
size (0.1-20 mm) and surface compositions. Dashed lines indicate the point of significant
deviation of n; from 1.

To mathematically describe this correlation, the following function can be defined:

= 1 (6.10)

Y (1 +ae?)b
According to Eq. 6.10, 1; approaches 1 for small values of ¢; (i.e., kinetic limiting
regime), and approaches 0 for very large values of ¢; (i.e., diffusion limiting regime),
which is the expected physical behavior. The values of a and b were derived via
parametric fitting of the curves displayed in Figure 6.2 with Eq. 6.10, per each
component (excluding CO) and for the two catalysts (Table 6.3).

The fitted value of b is close to 0.5 independently of the component, catalyst and
particle geometry. This value indicates that for larger value of @;, such that a @f >
1, n; scales linearly with 1/¢;. This behavior is also observed with the effectiveness
factor analytically derived for 15t order reaction.

The parameter a changes significantly per component and catalyst type, but it does
not depend on the particle geometry. In particular, the value of the parameter @ was
found to be equal to the ratio Degri/Defelim, Where Deglin is the diffusivity of the
slowest diffusing component in each catalyst particle. Thus, the formula for the
component-specific efficiency proposed here is the following:

= o5 (6.11)
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The dependency of 1; on the Dy 1s also physically reasonable, since the reactive
system is more affected by the slowest diffusing species. The parity plot representing
the quality of the fit of Eq. 6.10 with respect to the efficiency derived via the rigorous
particle model are reported in Figure 6.3 for both catalyst particles.

Table 6.3. Coefficients a and b for Eq. 6.10 and dependency of a on the effective
diffusivity.

Component  Catalyst a b 10% Doy 10°-a/Degri @ Deogrrim/Derri

Spherical geometry

CO, CuZA 1.09 047 1.07 1.02 0.99

Ho CuZA 3.07 050 276 1.11 1.08

MeOH CuZA 0.89 054 0.97 0.92 0.89

H2O CuZA 156 046 1.36 1.15 1.11

DME HZSM-5 1.03 048 042 2.45 1.03

MeOH HZSM-5 128 048 0.53 241 1.01

H,O HZSM-5 1.80 048 0.74 243 1.02

Cylindrical geometry

CO, CuZA 0.86 050 1.07 0.80 0.91

Ho CuZA 2.63 052 276 0.95 1.08

MeOH CuZA 086 055 1.13 0.76 0.86

H2O CuZA 122 050 1.36 0.90 1.01

DME HZSM-5 1.00 051 042 2.38 1.00

MeOH HZSM-5 1.08 051 045 2.34 1.01

H,O HZSM-5 1.51 0.51  0.64 2.35 0.99 ©
Slab geometry ;g
CO, CuZA 1.00  0.53 1.07 0.94 0.91 S
Ho CuZA 274 054 276 0.99 0.97 i
MeOH CuZA 096 055 0.97 0.99 0.96

H2O CuZA 140 053 1.36 1.03 1.00

DME HZSM-5 096 053 042 2.27 0.96

MeOH HZSM-5 1.03 053 045 2.27 0.96

HxO HZSM-5 145 053 0.64 2.28 0.96
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Figure 6.3. Catalyst efficiency derived solving the rigorous particle model (Mmodel) Vs
efficiency derived via the correlation proposed in Eq. 6.10 (N¢orrelation) for both methanol
catalyst (a) and DME catalyst (b) corresponding to the data of Figure 6.2.

6.4 HEAT AND MASS TRANSFER PHENOMENA AT THE PARTICLE-FLUID
INTERPHASE

This section discusses the relevance of the mass and heat transfer phenomena at the
particle-fluid interphase (i.e., from the bulk fluid phase to the catalyst particle). These
phenomena are commonly referred as film or external mass/heat transfer [1].

6.4.1 Governing equations

Section 6.3.2 showed that intra-particle diffusion limitations are significant in some
cases, while the temperature gradient inside the catalyst particle are negligible.
Furthermore, the pore diffusion effects can be accounted for via a simplified
approach (i.e., Thiele modulus-efficiency), which does not require solving the
complex particle model. As a result, the film mass/heat transfer phenomena wete
studied setting a mass/heat balance around the catalyst particles, as follows:

nr 6.12
Ni piapfri,surf - ki,ext ' (Ci,bulk - Ci,surf) =0 ( )
AH rlll app _AH rlll app _h
r2 COZ,surfnCOZ pcan r3 MeOH,suraneOH pcatl ext (613)
' (Tbulk - Tsurf,l) =0
(6.14)

" app . — =
_AHr4rDME,suranME Peatz — hext (Tbulk Tsurf,z) =0

Eq. 6.12 (i.e., mass balance) was solved separately for the CuZA and HZSM-5
particles, which have different surface concentrations (Cjgyrf), despite sharing the
same bulk conditions (Cipyx). Eq. 6.12 was only solved for the independent
components (i.e., for CO2 and H» for the CuZA and for methanol for the HZSM-
5). For all the other species, the concentration at the surface of the two catalyst
particles was determined via the reaction stoichiometry. The particle-fluid (external)
mass transfer coefficient (Kjext) is also component specific and was determined via
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the correlation of Dwlvedii, developed for packed bed reactors [8] (see Appendix
E).

Eq. 6.13 and 6.14 represent the heat balance for the CuZA and HZSM-5 particle,
respectively. Due to the definition of the component-specific efficiency (n;), the
observed reaction rate can be determined per component, rather than per each
reaction. Thus, to simplify the calculation of the heat generated in the CuZA patticle,
it was considered that all the CO; reacts to CO and that all the methanol is produced
via CO hydrogenation. The particle-fluid (external) heat transfer coefficient (heyt)
was determined via the correlation developed by Gupta et al. [21] (see Appendix E).

6.4.2 Simulation results and discussion

As for the intra-particle heat and mass transfer phenomena, also the relevance of the
film mass and heat transfer was first evaluated in a limiting scenario. These
phenomena could be limiting in a scenario with fast kinetic (i.e., high reaction
temperature) combined with large catalyst particle and low superficial velocity ().
As a result, simulations were first run at 270 °C, with a patticle diameter of 10 mm
and vatying the supetficial velocity in the range 0.001-10 m/s. The results are
reported in terms of normalized surface concentration ( Cjgyrr/Cipuk ) and
temperature (Tgure/ Touik), as a function of vgs (Figure 6.4a and b, respectively). The
two reference lines displayed in Figure 6.4 represent a 1% deviation from 1, which
corresponds to the scenario in which the external mass and heat transfer phenomena
are fast enough, thus not limiting. Figure 6.4a shows that at low superficial velocity
(i.e., below 0.2 m/s), the external mass transfer has a significant effect, with surface
concentration deviating up to 6% from the concentration in the bulk phase.

On the contrary, the temperature gradients are, once again, not significant, with
Tsurt/ Touk 2pproaching 1 even for very low velocities (Figure 6.4b). Usually, in gas
phase reactions with solid porous catalysts, the external heat transfer is slower than
the external mass transfer, due to the very low thermal conductivity of the gases [2].
However, Ha has a relatively high thermal conductivity (i.e., in the order of 0.2
W/m/K) with respect to other gases (i.e., in the order of 0.03 W/m/K). This
explains the absence of any film AT even in a limiting situation. As a matter of fact,
when the H» thermal conductivity is artificially set as the conductivity of CO,, the
simulation results show that the temperature gradients in the particle-fluid interphase
can be significant (see Appendix E, Figure E5).
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Figure 6.4. Normalized surface concentration (Cjgyrf/Cipuix) for the different components
(a) and normalized surface temperature (Tsype/ Touik) (b) of the CuZA (citcles) and HZSM-5
(stars) catalysts as a function of the superficial gas velocity determined at a bulk temperature
of 270 °C, a pressure of 40 bar and a particle diameter of 10 mm. The dashed lines represent
a 1% deviation from 1.

In literature, the Mears criterion is often used to check a priori whether the external
mass transfer is limiting the reaction rate and therefore must be considered when
modeling reactor performance |[2]. Such criterion consists in calculating a
dimensionless number, commonly known as Carberry number (Ca), defined in Eq.
6.15 as the ratio of the maximum reaction rate (including the reaction order n ), over
the maximum external mass transfer flux. For values of Ca < 0.15, the difference
between the concentration at the surface of the particle and in the bulk phase is less
than 5% (i.e., (Cipuik — Cisurt)/Cipu < 0.05), so film concentration gradients are
considered negligible [22].

_ Tiobs Rp [0 (6.15)

KextChuik

However, once again, this criterion has been developed for simple reaction schemes
and for a 15— and generalized for n® — order reaction. Nevertheless, the applicability
of this criterion to this system was assessed by calculating rigorously the relative
concentration difference, (Cipuk — Cisurf)/Cipue and the Ca (with n equal to 1, for
simplicity) using the simulation results obtained for different particle sizes (1-20
mm), pressures (30-40 bar), temperatures (200-270 °C), surface compositions and
superficial gas velocities (0.001-1 m/s). Figure 6.5 shows that for Ca < 0.15,
(Ci,bulk - Ciysurf) /Cipuik < 0.05 holds for both catalyst particles, which means that
this criterion is applicable also to this system, despite its complexity.

As a result, the Mears criterion could be implemented in the reactor model, to

evaluate a priori whether the film concentration gradient is significant and must be
taken into account. Nevertheless, the implementation of Eq. 6.12, together with the
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Thiele-modulus approach does not add significant complexity to the reactor model,
thus this phenomenon could be considered regardless of its relevance.
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Figure 6.5. Relative concentration difference between the catalyst surface and the bulk fluid
as a function of the Carberry number obtained for different particle sizes (1-20 mm),
pressures (30-40 bar), temperatures (200-270 °C), surface compositions and superficial gas
velocities (0.001-1 m/s). The vettical dashed line cotresponds to Ca = 0.15, the horizontal
dashed line corresponds to (Ci,bulk — Ci’surf) /Cipuik = 0.05 (i.e., Mears criterion).

6.5 1D PACKED BED REACTOR MODEL: HETEROGENEOUS VS PSEUDO-
HOMOGENEOUS MODEL AND DEVIATION FROM PLUG FLOW BEHAVIOR

In this section, the effect of the internal (i.e., intra-particle) and external (i.e., fluid-
particle) mass transfer is discussed at reactor scale, to assess the relevance of these
phenomena on the reaction performance (i.e., CO2 conversion and product
selectivity). At this stage, the membrane is not yet incorporated in the reactor. Thus,
the results showed here were obtained via a 1D packed bed reactor (PBR) model.

In particular, the results obtained via the heterogeneous (i.e., including the particle
model) and pseudo-homogeneous (i.e., no internal diffusion limitations or Thiele-
modulus approach) PBR model are first compared, based on the hypothesis of ideal
plug flow. Thereafter, deviations from the ideal plug flow pattern are evaluated,
implementing the axial dispersion model.

6.5.1 Governing equations and boundary conditions

The governing equations describing the mass and heat conservation as well as the
continuity equation (i.e., total mass conservation) in the packed bed reactor are
summarized in Table 6.4. Eq. 6.18 describes the component specific mass balance
in the PBR, derived with the hypothesis of plug flow and steady-state. When the
plug flow hypothesis is removed, an axial dispersion term is added on the left side
of Eq. 6.18, as shown in Eq. 6.19, where D,y; is the axial dispersion coefficient,
determined via a Peclet number correlation (Pe,,) based on the work of Gunn [9],
[23] (see Appendix E). The heat balance reported in Eq. 6.20 represents a generic
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reactor with heat exchange (Q). Eq. 6.20 does not change when the hypothesis of
plug flow is removed, since axial heat dispersion was not considered in this work.
This term seldom significant and often neglected in literature [24]. Eq. 6.21
represents the continuity equation which was used to determine the pressure drops
(0p/0z) along the reactor. In the axial dispersion model, the continuity equation is
represented by Eq. 6.22.

The friction factor (B) of Eq. 6.21 and 6.22 was calculated via the Ergun equation
(Eq. 6.16), where ¢ is the fluid viscosity (see Appendix A), pris the fluid density,
calculated via the Peng-Robinson equation of state (see Appendix A) and Dy, is the
particle diameter. The velocity of the gas mixture (v) in the packed bed varies along
the reactor axis (z) according to the Darcy equation (Eq. 6.17).

8 = 150 (1—3sbed)22uf+ 175 pf(lzsbed)lul (6.16)
€hedDp €hedDp
b 1o (6.17)
B oz

Table 6.4 also reports the boundary conditions for Eq. 6.18-6.22. For the mass and
heat balance we set: 1) the composition and the temperature at the entrance of the
reactor (z = 0), and 2) a null gradient for both concentration and temperature at the
exit of the reactor (z = L). For the continuity equation, an inlet velocity (v;,) and a
pressure at the outlet (pyy,) Were set.

The equation describing the reaction term (R;) depends on the mass transfer
phenomena considered and the approach used to model them. All the scenarios are
summarized in Table 6.5:

= Pseudo-homogeneous model kinetically limited: Eq. 6.23 is used when both
intra-particle diffusion and fluid-particle mass transfer phenomena are
neglected. Thus, the gas and solid phase are described as a single pseudo-
homogeneous phase.

=  Pseudo-homogeneous model (Thiele modulus approach): R; is described by
Eq. 6.24 when the Thiele modulus approach developed in section 6.3.2 is
used to describe the internal mass transfer phenomena. In this case, the

concentration of each species at the surface of the catalyst particle (Cjgyrf)
can be different from the concentration in the bulk (C; k), due to the film
mass transfer phenomena, which is described via a mass balance around the
catalyst particle (Eq. 6.12). The model is still pseudo-homogeneous, since
the mass balance inside the catalyst particle is not explicitly solved.

=  Heterogeneous model: in this case, the concentration profile in the catalyst
particle is modeled rigorously by explicitly solving the mass balance as
described in Eq. 6.5. Thus, the model becomes heterogeneous and the
particle and reactor model are coupled via the diffusion flux determined at
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the surface of the catalyst particle (Eq. 6.25). In this last case, the external
mass transfer is accounted for in the boundary condition of the particle
mass balance, imposing the mass transfer flux at the surface of the catalyst

particle.

In all cases, it is important to distinguish between the two catalyst particles in the
reaction term (R;), where X¢aq and Xcarz are the volume fraction of the CuZA and
HZSM-5 in the catalytic bed, respectively. Furthermore, to prevent hot spots, the
catalyst bed was assumed to be diluted with inert particles (SiC), with a volumetric

dilution factor (D¢at).

Table 6.4. Mass, heat and momentum balance equations and corresponding boundary
conditions for both ideal PFR and axial dispersion model.

Equation Boundary conditions
Mass balance — Ideal plug flow (PFR)
a(vG; z=0
(Cibu) _ 6.18) —
0z Cipulk = Cipuik
Mass balance — Axial dispersion
P ac z=0 z=1L
ibulk
&(Uci'b“'k ~Daxi—, ) =R ©.19) Cibulk = Cibulk —a(c(;’bulk) =0
z
Heat balance (valid with both Eq. 6.18 and 6.19) o
— 3]
Ng z=0 ‘%
= UZ(CpiCi,bulk) Touik | = 5
i=1
(6.20)
s Tounc = Thuix
= D Ri(-8H) - Q
i=1
Continuity equation — Ideal plug flow (PFR)
13 z=0 z=1L
%) Z
- M;iR; 6.21) | 0
( oz (¢2D a_p = BoVin P = Pout
z
Continuity equatlon Axial dispersion
( 1 ap) Z M R z= 0 z=1L
B 0z
6.22) | ap
E = BoVin P = Pout

9 9Ci pulk
+ 21 M; 0z Dax 0z
=
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Table 6.5. Reaction term for Eq. 6.18-6.22 for three cases: 1) pseudo-homogeneous reactor
model kinetically limited; 2) pseudo-homogeneous reactor model accounting for internal
(MTmr) and external (MTgxr) mass transfer via the Thiele-modulus approach; 3)
heterogeneous reactor model (particle model solved for MTmr and MTexr included in its
boundary condition).

Internal mass External mass

transfer transfer R; for Eq. 6.18-6.22

Pseudo-homogeneous reactor model (kinetic limiting regime)

nr
Deat(1—¢peq) (xcatl Pcat1Ticat1

Neglected Neglected o
+ Xcat2 pcatzri,catz)

(6.23)

Pseudo-homogeneous reactor model (MTint + MTExT)

Thiele modulus Eq. 6.12 for 1
(Eq. 6.7 and 6.11 Ci,squrf,catl azd Dcat(l_sbed)(xcatl ff’catlnicatlri,surf,catl (6.24)
for o; and 771‘) C; surf.catz + Xcat2 pcatzni,catzri,surf,catz)

Heterogeneous reactor model (MTnt + MTExT)

- : . 3
Particle model (Eq. 6.5) with B.C.: Deat(1=€peq) R_p .

ac;
r=0 W =0 ) D aCi,catl

6Ci Xcat1leff i cat1 T rer, (6.25)
r= Rp Deff,i ? - aci,catz

r:R,,)

+ Xoat2Dorf i caty —LS82
= kiext(Copute = Cosurs) cat2¥eff icatz =5,

6.5.2 Simulation results and discussion

To assess the effect of the internal diffusion limitations on the packed bed reactor
performance, simulations were run under isothermal conditions, and in two
scenarios: 1) at 270 °C, varying the particle diameter in the range 0.25-20 mm; and
2) using a particle diameter of 10 mm, varying the temperature in the range 200-270
°C. The analysis was done at a relatively high space velocity (i.e., GHSV of 500 h!),
to prevent the system to achieve thermodynamic equilibrium. This corresponds to a
situation where both the kinetics and mass transfer do not affect the performance
anymore. Figure 6.6a and c¢ show that at large catalyst particle diameter (= 1 mm)
and at high temperature (= 220 °C), the CO conversion determined via the
heterogeneous reactor model (i.e., solving the particle model) deviates significantly
from the conversion determined under the hypothesis of kinetically limited regime
(i.e., without internal mass transfer, MTint) up to a maximum of 5%. Similarly, the
selectivity towards DME (Figure 6.6b and d) decreases when the system is affected
by the pore diffusion rate. At the same time, methanol selectivity increases, which
indicates that the HZSM-5 catalyst is more affected by internal diffusion, as
previously observed. Furthermore, Figure 6.6 shows that the Thiele modulus
approach (circles) predicts with high accuracy the trend in CO; conversion and
product selectivity computed via the heterogeneous reactor model (stars) in the
range of D, = 0-3 mm and T' = 200-250 °C.
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In severely diffusion limited regime (i.e., particle diameter larger than 5 mm and
temperature above 250 °C), the Thiele modulus approach tends to overestimate the
effect of internal mass transfer, resulting in a lower conversion compared to that
obtained when solving the heterogeneous model. The product selectivity, instead, is
predicted with high accuracy over the entire range of explored conditions.
Nevertheless, it must be noted that the largest deviations observed in the CO»
conversion correspond to the least realistic conditions. Indeed, in industry, particle
size of ca. 3 mm are commonly used, while temperatures above 250 °C corresponds
to very low DME selectivity (i.e., tWGS favored).

The relative error between the solution of the heterogeneous (i.e., particle-reactor)
and of the pseudo-homogeneous (i.e., Thiele modulus approach) model was
determined in all the conditions. Such error was found to exceed 5% for the CO»
conversion, when the maximum Thiele modulus in the system is larger than 2. This
situation corresponds to an effectiveness factor of ca. 90%.
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Figure 6.6. CO> conversion (a) and product selectivity (b) as a function of the particle
diameter, at a reaction temperature of 270 °C and CO; conversion (c) and product selectivity
(d) as a function of the reaction temperature, with a particle diameter of 10 mm. Other

conditions are: PR = 40 BAR, (CHz/CCOz)IN s = 3 GHSV = 500171, wege = 0.5.
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The effect of the external mass transfer was assessed in a similar way, carrying out
isothermal reactor simulations at the same conditions of section 6.4.2 and with a
GHSV of 500 h-'. It can be observed that the CO; conversion and product selectivity
are barely affected by the velocities in the range 0.001-10 m/s. Indeed, at the lowest
velocity, a maximum deviation in the DME selectivity and methanol yield of 3.5%
(see Appendix E, Figure E6) was calculated. As a consequence, considering that an
inlet superficial velocity of 0.001 m/s, a temperature of 270 °C and a particle
diameter of 10 mm are not common for this system, it is concluded that the film
concentration gradients are not relevant at reactor scale. Thus, also the external mass
transfer phenomena can be neglected.

The relevance of the axial dispersion was also assessed running isothermal
simulations in a limiting condition (i.e., high axial dispersion coefficient, D,y). Doy
depends on the molecular diffusivity, particle diameter and fluid velocity, similarly
to the external mass transfer coefficient (see Appendix E, section E.3). In particular,
D,y increases for larger particle diameters and becomes more relevant as the
superficial gas velocity increases. Thus, simulations were run with a particle diameter
of 10 mm and varying the supetficial gas velocity. Furthermore, a temperature of
270 °C was selected to ensure fast reaction rates

However, in all the explored conditions, conversion and selectivity did not show
significant deviations from the results obtained under the assumption of plug flow
(see Appendix E, Figure E7). Therefore, this phenomenon can be neglected and
plug flow will be considered a valid assumption for the rest of this study.

6.6 1D PSEUDO-HOMOGENEOUS PACKED BED MEMBRANE REACTOR
MODEL: EFFECT OF DIFFUSION LIMITATIONS ON A LARGE SCALE PBR
AND PBMR

Given the results from previous sections, a 1D pseudo-homogeneous plug flow
packed bed membrane reactor (PBMR) model was developed, proposing a specific
heat management solution (ie., specifying the term Q of Eq. 06.20), and
implementing the Thiele modulus approach to account for the pore diffusion effects
(i.e., pseudo-homogeneous model). All the phenomena which were found irrelevant
for the PBR, such as fluid-particle heat and mass transfer, intra-particle heat transfer
and axial dispersion, as shown in the previous sections, were not modeled here.

In this section, the effect of intra-particle diffusion phenomena on the performance
of the PBR and PBMR is discussed at relevant operating conditions (i.e.,
temperature, pressure) and at a space velocity which is compatible with industrial
scale (i.e., which guarantees approach to thermodynamic equilibrium). Reaction
conditions were selected based on preliminary simulations (e.g. Chapter 2), carried
out with simplified models, which do not consider any effect of internal/external
mass and heat transfer phenomena.
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6.6.1 Governing equations and boundary conditions

As shown in Chapter 2, in the PBMR two zones can be identified: the reaction (i.e.,
outer reactor shell hosting the catalytic bed) and the permeation zone (i.e., the inner
tubular membrane). As a result, all the variables, such as concentration, temperature,
pressure and velocity, assume a different value in the two zones. To distinguish the
variables of the reaction and permeation zone, the superscripts R and P were used,
respectively.

Table 6.6 summarizes the mass and heat balance equations, with the corresponding
boundary conditions. The mass balance of the reaction zone (Eq. 6.20) is based on
Eq. 6.18, with the term ;(PR — P?) representing the permeation flux (Jperm,i) of the
species through the membrane. In Eq. 6.20, the apemp represents the membrane
area per reactor volume. The membrane was considered to be placed all along the
reactor, thus Ly = Lg.

The mass balance of the permeation zone (i.c., where sweep gas is circulated),
reported in Eq. 6.27, accounts only for the permeation flux (i.e., no reaction).

To remove the heat produced by the reactions and keep isothermal conditions, the
circulation of boiling water in an external cooling mantle was selected as a heat
management strategy. As a result, heat is removed from the reactor via the
evaporation of water (i.e., latent heat exchange) at constant temperature (Ty).

During the lab-scale membrane reactor tests discussed in Chapter 5, the temperature
in the reaction and permeation zone was found to be the same in all experimental
conditions, suggesting a fast heat transfer between the membrane and the catalytic
bed. However, the lab-scale tests are not fully representative of large scale reactors,
where radial temperature gradients between the bulk phase of the reaction and
permeation zone could develop. Nevertheless, in practice, these gradients could be
avoided by placing multiple smaller membranes in parallel. Furthermore, the inlet
temperature for both the permeation and reaction zone is the same. As a result, the
temperature profile in the two zones is the same (i.e., TR = T = T) and an overall
heat balance can be formulated, as in Eq. 6.28, where apeq¢ is the heat transfer area
per reactor volume and U is the global heat transfer coefficient (see Appendix E).

The reaction term (R;) is described via Eq. 6.24 (Table 6.5), with C{, ¢ = Cf},, and
with the Thiele modulus-efficiency from Eq. 6.7 and 6.11.

The gas velocity profile in the reaction zone (UR) was modeled as in section 6.5,
combined with the continuity equation reported in Table 6.6 (Eq. 6.29) which
accounts also for the transport of species through the membrane. The continuity
equation for the permeation zone (Eq. 6.30) was used to determine the velocity
profile (vP). The total pressure (PF) in the permeation zone was assumed constant.
Indeed, due to the absence of solid particles, the pressure drop of the gas flowing in
the membrane tube is negligible.

199

Chapter 6




CHAPTER 6

When the PBR was modeled instead of the PBMR, the permeance of each species
was set to zero (i.e., no permeation flux in Eq. 6.26), Eq. 6.27 was not implemented

and the energy balance was solved only for the reaction zone WP = 0 was set at

zero in Eq. 6.28).

Table 6.6. Mass and heat balance equations and boundary conditions for the permeation
and reaction zone of the 1D pseudo-homogeneous PBMR model.

Equation

Boundary condition

Mass balance — Reaction zone

a(uRCh) 2= 0
Tl =R; — amemb " £i(P" — PY) (6.26) CR = cRIN
1
Mass balance — Permeation zone
a(uPch) 2= 0
Tl = amems " i (P = PF) ©6.27) cf =cPN
Heat balance — Reaction/Permeation zone
5 Ns z= 0
p Z(uRciR +0PCP)C, T | =
i=1
N, (6.28) T = TIN
= D Ri (A (1Y) — apeqe U+ (T = T,.)
i=1
Continuity equation — Reaction zone
N z= 0 z=L
_ o 1op® ZZ(M'R' amems Jpermi)  (629) | apR
oz pr 9z L it memb ~ Jperm,i L — BOUi[; pR — poRut
i=1 0z
Continuity equation — Permeation zone
5 Ns z=10
E (prP) = Z(amemb : ]perm,i) (6.30) P =P
i=1 m
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6.6.2 Simulation results and discussion

The reaction conditions used to simulate the PBR and PBMR are reported in Table
6.7. A total pressure of 40 bar and a H2:CO, molar feed ratio of 3 were selected for
the reaction zone, based on the work reported in Chapter 2. An average temperature
of 220 °C for the reaction zone was found to lead to an adequate trade-off between
COz conversion and DME selectivity (see Chapter 7). Thus, the boiling water
temperature, for both the PBR and PBMR, was optimized to guarantee an average
reaction temperature of 220 °C (i.e., T, of 190 °C and 178 °C for the PBR and
PBMR, respectively). A GHSV of 32.11 h™! is sufficient to approach the
thermodynamic equilibrium in the PBR for a catalytic bed composed of 50 wt % of
HZSM-5. The mass fraction of zeolite has often been found to not significantly
influence the overall reaction performance, being the system limited by the methanol
synthesis. Thus, values between 33-50% are often proposed in literature (i.e.,
CuZA/HZSM-5 ratio between 1 and 2) [25]-[27].

As reported in Chapter 2, a relatively low gradient in total pressure (AP =5 bar)
between the reaction and permeation zone, together with the circulation of a sweep
gas containing the reactants (i.e., CO,, Hz with Hx:COz of 3 mol/mol) was selected
to ensure the selective removal of water while retaining the reactants in the reaction
zone of the PBMR. The inlet flow rate to the permeation zone is linked to the inlet
flow rate to the reaction zone, via the sweep gas ratio (SW), as defined in Chapter 2.
In Chapter 2, it was found that a SW value of 20 maximizes the simultaneous
removal of water and heat from the reaction zone. However, to minimize the H»
requirement, in this study a SW value of 1 is proposed, which is sufficient to promote
the selective removal of water. Once this parameters were set, the optimal value of
Amemp Was determined to be 0.0659 M2, emp/M3eac-

Details on the optimization and sizing procedure adopted for the PBR and PBMR
are reported in Chapter 7.

Table 6.8 reports the corresponding reactor performance for both the PBR and
PBMR evaluated both with a simplified model (i.e., model which does not account
for internal mass transfer phenomena, MTinr) and with the model described in
section 6.6. From these results, it can be observed that the intra-particle diffusion
phenomena have no significant effect on the performance of both reactors in these
conditions.

These results were obtained assuming a particle size which is typically employed in
industry for these system (i.e., 3 mm). Interestingly, even when increasing the Dp to
10 mm, the reduction in the CO; conversion and DME yield is less than 0.88% and
0.65%, respectively (see Appendix E, Figure E8). This result is, seemingly, not in
line with the findings from Section 6.3, where it was showed that at sufficiently large
Dp (i.e., 4-10 mm), the efficiency of the catalyst particles is significantly reduced. This
occurs already at 200 °C for the HZSM-5 particle, where the efficiency can drop to
90% for Dp of 10 mm.
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Table 6.7. Reaction conditions and reactor geometry

used for the PBR and PBMR

simulations
Reactor property/condition Unit Value PBR  Value PBMR
Inlet temperature (T'N) °C 200 200
Inlet pressure reaction zone (PRIN) bar 40 40
GHSV h™1 32.11 32.11
Feed H2:CO; ratio mol/mol 3 3
Cooling water temperature (Tyy) °C 190 178
Reactor length (Lg) m 18.23 17.72
Reactor inner diameter (D) m 3.65 3.54
Reactor outer diameter (Do) m 3.81 3.70
Memb. atea per reac. volume (@memb)  MZiemb/Mieac - 0.0659
Membrane pressure gradient (AP) bar - 5
Sweep gas flow ratio (SW) - - 1
Sweep gas H2:COs ratio mol/mol - 3
Bed porosity (gpeq) md /M 0.4 0.4
Catalyst dilution factor (D¢at) md;c/md,, 0.66 0.66
Zeolite weight fraction (Weatz) Kgcatz/KEcat 0.5 0.5
Catalyst particle diameter (Dp) mm 3 3

Table 6.8. PBR and PBMR performance determined with the conditions of Table 6.7 with
a 1D pseudo-homogeneous kinetically limited (no MTint) model and with a 1D pseudo-
homogeneous model accounting for pore diffusion phenomena with the Thiele modulus
approach (with MTiNr)

Reactor PBR - no PBR with PBMR -no PBMR with
performance MT Nt MT Nt MT Nt MTint

CO; conversion 37.96% 37.95% 52.28% 52.27%
DME selectivity 83.71% 83.8% 97% 97%

MeOH selectivity 13.42% 13.36% ~ 0% ~ 0%

CO selectivity 2.87% 2.84% 3% 3%

To investigate why the intra-particle mass transfer does not affect the performance
of both reactors, the catalyst efficiency for both the CuZA and HZSM-5 particles
was calculated over the length of the PBMR (Figure 6.7a). From this analysis, it can
be observed that the efficiency of both catalysts initially decreases, due to an increase
in the reaction temperature in the first section of the reactor (see Chapter 2 for
typical temperature profile). Thereafter, the efficiency increases again, displaying an
average value of 98% and 21% for the CuZA and HZSM-5, respectively. As a result,
the pore diffusion has a little effect on the methanol synthesis, but it should
significantly affect the production of DME, which is not the case, as seen in Table
6.8.

This suggests that the limitation for the methanol dehydration reaction lies
somewhere else. Indeed, Figure 6.7b shows that the actual DME concentration in
the PBMR corresponds to the thermodynamic equilibrium, which indicates that the
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reaction is limited by thermodynamics. As a consequence, a lower or higher reaction
rate would not result in any change in the methanol conversion to DME, since the
reaction is already sufficiently fast to achieve its thermodynamic equilibrium. Thus,
the reduced rate due to the low catalyst efficiency does not affect the reaction
performance. Figure 6.7b also shows that the methanol concentration along the
PBMR is always lower than its thermodynamic value. This, together with the high
CuZA efficiency (i.e., 98%) suggests that the methanol synthesis is a kinetically
limited system, under these conditions.
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Figure 6.7. Catalyst efficiency (a) and methanol real (i.e., in the reactor) and equilibrium
concentration for the CuZA (left axis) and DME real and equilibrium concentration for the
HZSM-5 (right axis) as a function of the reactor length. Simulations were carried out on a
PBMR, under the conditions reported in Table 6.7.

Being the methanol dehydration limited by thermodynamics, a fraction of the zeolite
bed could be removed from the reactor, without any effect on the overall reaction
performance. Indeed, if ca. 90 wt % of the HZSM-5 is removed from the catalyst
bed, the DME concentration along the PBMR shifts downwards with respect to the
equilibrium curve (see Appendix E, Figure E9), with a corresponding increase in
the contribution of the pore-diffusion phenomena to the reaction rate.

Based on these findings, the Wy, was optimized for both the PBR and PBMR and
for different catalyst particle size, as reported in Figure 6.8. When water is removed
from the reaction environment (PBMR), the optimal zeolite fraction was found to
be slightly higher (ca. 0.5%), because the membrane alters the equilibrium of the
system, reducing the water concentration. As a consequence, the methanol
concentration is higher, resulting in the formation of more DME (i.e., dynamic
equilibrium). Thus, a larger fraction of zeolite is required to achieve the dynamic
equilibrium conditions in the membrane reactor.

Furthermore, when the effects of intra-particle diffusion phenomena are accounted
for, for D, > 0.5 mm, the optimal zeolite fraction increases with the particle size.
Indeed, with larger catalyst particles, the effect of mass transfer becomes more
significant, resulting in a lower methanol dehydration reaction rate. As a
consequence, a larger fraction of HZSM-5 is required to achieve the equilibrium
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both in the PBR and PBMR. This result is of high relevance, since the effect of the
zeolite mass fraction can be significantly underestimated and considered negligible,
as often reported in literature [25], [28], when the intra-particle diffusion limitations
are not considered, especially for the HZSM-5.

The optimal zeolite weight fraction depends on the catalyst particle size and on the
extent of water removal, as well as on the operating temperature and pressure. Thus,
the optimization should be carried out for each specific set of conditions.
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Figure 6.8. Optimal zeolite weight fraction (%) as a function of the catalyst particle
diameters for both the PBR and PBMR, determined with a model which does not consider
the intra-particle mass transfer (No MTnr) and for a morel which accounts for internal mass
transfer limitation MT ). Simulations wete run under isothermal conditions (220 °C) and
at GHSV = 1000 h'l. Other conditions are reported in Table 6.7.

6.7 2D PSEUDO-HOMOGENEOUS PACKED BED MEMBRANE REACTOR
MODEL: EFFECT OF CONCENTRATION POLARIZATION PHENOMENA

In this section, the 2D PBMR model developed to investigate the relevance of the
concentration gradients along the membrane surface (l.e., concentration
polarization), is described. Such model is still considered pseudo-homogeneous,
since balances in the solid phases were not solved: 1) the intra-particle diffusion
limitations were accounted for via the Thiele modulus approach; 2) any mass transfer
phenomena occurring in the micro-porous carbon membrane was assumed to be
already included in the permeability.

The developed model relies on the following assumptions:

1) In the membrane tube, there is no radial concentration, velocity, pressure
and temperature profile.

2) The radial component of the velocity are negligible.

3) There is no radial pressure profile.

4) The velocity in the axial direction is constant along the radius of the reactor.
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5) There are no angular pressure, concentration, velocity or temperature
gradients.

The flow rate in the membrane is usually the same or even higher (SW = 1) than the
flow rate in the reaction zone. However, due to the much smaller cross section, the
velocity in the membrane tubes is higher than in the reaction zone. Furthermore, the
membrane tube is relatively thin (i.e., Lyy/Dy > 50). Thus, such conditions do not
favor radial concentration, velocity, pressure and temperature profiles. In reality, the
velocity in the radial direction in the reaction zone is not zero, because of the
permeation flux. Therefore, the assumption of neglecting the radial component of
the velocity could lead to poor results [29]. However, the radial dispersion coefficient
used in this model also partially accounts for a flux in the radial direction. In
literature, it is really common to neglect the radial pressure profile [10], [29]. Thus,
it was also neglected in this work. Furthermore, when the particle diameter is
sufficiently small compared to the reactor diameter (i.e., Dyj/Dy > 15), the bed
porosity can be considered uniform in the radial direction, resulting in flat profiles
of the axial velocity, along the reactor radius [23].

To simplify the implementation of the 2D model, a PBMR with one membrane
placed at the center of the reaction zone was considered. Thus, the reactor is
symmetrical around the axis, which also yields to the absence of angular gradients,
as well as to a zero contribution of the angular component of the velocity.

Finally, since there are already well-established correlations to describe the heat
transfer to the reactor wall and the radial heat transfer from/to the membrane is
considered negligible, as previously mentioned, the model 2D PBMR model is
considered isothermal (i.e., no energy balance is solved).

6.7.1 Governing equations and boundary conditions

The mass balance equations for the reaction and permeation zone, together with
their boundary conditions are reported in Table 6.9. The mass balance equation for
the permeation zone is the same as Eq. 6.27. The mass balance equation in the
reaction zone (Eq. 6.31) does not directly account for the permeation flux, since the
permeation of species occurs at the boundary between the reaction and permeation
zone. Thus, the permeation flux is incorporated in the boundary condition (i.e., at
r = Rp,). As a result, Eq. 6.31 includes a convection term along the reactor axis, a
radial dispersion term (described by the radial dispersion coefficient, Dyaq, derived
via the correlation of Gunn [9]) and a reaction term (R;), described by Eq. 6.24
(Table 6.5), with CR,.s = CFux and with the Thiele modulus-efficiency from Eq.
6.7 and 6.11.

The second boundary condition for Eq. 6.31 along the radial direction imposes that
the flux at r = Ry is zero, since there is no mass flux through the reactor walls. All
the other boundary conditions correspond to the ones reported in Table 6.6.
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Table 6.9. Governing equations and boundary conditions for the mass balances in the
reaction and permeation zone of the 2D pseudo-homogeneous isothermal PBMR model.

Equation Boundary conditions
Mass balance — Reaction zone
z=0
R _ ~RIN
a(URCR) 19 aCcR G =G
~ 37 1o\ radiz | =Ri 631) | =Ry r= Rpo
acR acR
a—rl =0 Drada—r1 = pi(P* —P’)
Mass balance — Permeation zone
z=0
Eq. 6.27 cP = cPIN
1 1

6.7.2 Simulation results and discussion

Similarly to the previous sections, first it was assessed whether the concentration
polarization phenomenon (i.e., fluid-membrane surface mass transfer) is relevant in
a limiting situation. As a result, 2D PBMR simulations were carried out at high
temperature (270 °C), to ensure a higher permeation flux (on average), combined
with small catalyst particle diameter (D,= 25 mm) and low gas velocity (i.e., VR =
0.001 m/s), to reduce the mass transfer rate in the radial direction. These conditions
result in significant radial concentration gradients, as depicted in Figure 6.9. Water
(Figure 6.9b) shows a particularly steep gradient close to the membrane surface,
due to its high permeation flux (i.e., highest permeance, combined with a significant
driving force). Similarly, all the species which are not circulated in the sweep gas
show a steeper gradient, due to their higher permeation flux.

The water concentration profile hinders the effectiveness of the membrane, by
reducing the effective driving force which determines the permeation flux. As a
result, the PBMR performance could significantly change when this phenomenon is
accounted for, as depicted in Figure 6.10. At higher temperatures, the effect of the
concentration polarization on the CO» conversion becomes quite significant, despite
being negligible on the product selectivity. Nevertheless, even if the efficiency of the
membrane is reduced, the PBMR still outperforms the PBR.
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Figure 6.9. Radial concentration profiles of the reactants (a) and products (b) determined
via the 2D PBMR model at z= L/2. Operating conditions: TR = 270 °C, PRIN = 40 bar,
(CHZ/CCOZ)IN =3, GHSV =50 h', Wear; = 0.5wt %, AP = 5bar, SW =1, D, = 0.25 mm,
L =0.5m,D;y =0.1m, Dy, =0.01m.
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Figure 6.10. CO; conversion (a) and product selectivity (b) for a PBR (dashed lines) and a
PBMR evaluated via a 1D model (solid line) and a 2D model (stars). Operating conditions:
TR =270°C, PRIN = 40 bar, (CHZ/CCOZ)IN =3, GHSV =50 h'!, Weae; = 0.5Wt %, AP =
5 bar, SW = 1,D, = 0.25 mm, Lg = 0.5 m, D;; = 0.1 m, Dy = 0.01 m.

The 2D PBMR model is computationally expensive, especially when the heat balance
needs to be implemented as well. Alternatively, the concentration polarization
phenomenon could be accounted for via the definition of a mass transfer coefficient
(kcp) determined via correlations, similatly to the approach described in section 6.4
(i.e., heat/mass transfer at the fluid-particle interphase). Boon et al. [10] proposed a
correlation to estimate the mass transfer coefficient for the Hx separation via
palladium membranes in an empty column (i.e., gas separation process with no
reaction). However, with this correlation, the concentration polatization effect on
the reaction performance is significantly underestimated (see Appendix E, Figure
E12). To the best of our knowledge, in literature there is no correlation describing
the CP phenomenon for carbon molecular sieve membranes, especially when they
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are implemented in a packed column (ie., PBMR) and when reaction occurs
simultaneously to the sepatration. Thus, this chapter proposes the development of a
Sherwood-type correlation (Eq. 6.32-6.35) to account for the CP via a short-cut
method, which does not require the implementation of a 2D model.

Sh = a RePScCEd (6.32)
sh = Kcpidn (6.33)
Dny
Re < Pivsrdn (6.34)
Hi€bed
_ M (6.35)
¢ PiDmi

In Eq. 6.32, a, b, c and d are the coefficients of the correlation that have to be
determined, E is a dimensionless number which accounts for entrance effects, and
dy, is a characteristic length which we defined as the space between the reactor wall
and the membrane selective layer (i.e., d, = Ry — Rpo)- The Reynolds number (Re,
Eq. 6.34) is divided by &4 to convert the superficial gas velocity into the interstitial
velocity.

The mass transfer coefficient kep; was determined from the 2D PBMR simulation
results, via Eq. 6.36, where (C; ;%) is the average concentration of component i in the
radial direction of the reaction zone and Ci,mlsurfR is its concentration at the
membrane surface.

]perm,i (636)

= R R
(Ci,r ) - Ci,m.surf

kCP,i

As a result, using the definition of the k¢p; from Eq. 6.36, in combination with Eq.
6.32, a set of 6800 data of Sherwood numbers was obtained from the results of the
2D PBMR simulations, carried out under a wide range of conditions. These include
variations of the GHSV (10-2000 A~ 1), the temperature (200-270 °C), the pressure
(30-40 bar), the SW (0.5-2), the inlet composition to both zones (H2:CO, of 1-4),
the reactor length (0.1-10 m), the reactor diameter (0.02-1 m), the particle diameter
(0.1-20 mm), the membrane diameter (5-20 mm) and the zeolite weight fraction
(0.25-0.75).

The parameters of the Sh correlation (Eq. 6.32) were determined via parametric
fitting of the Sh numbers obtained from the rigorous 2D model, similarly to what
was done for the Thiele modulus-efficiency correlation in section 6.3. The
parameters were fitted in four different cases (Table 6.10) with the quality of the fit
progressively improving from case 1 to 4 (i.e., Fgaristic decreases from 0.1456 to
0.1370, as reported in Table E3).
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The factor dy,/z used to account for entrance effects in case 1, assumes a high value
closer to the entrance. However, the entrance effect should account for two
phenomena: 1) how fast the concentration profile develops (i.e., rate of mass transfer
in the radial direction), 2) the residence time of the fluid in the reactor. Combining
these two aspects, an entrance Peclet number (Peg,,) was defined as in Eq. 6.37,
which compares the characteristic time for dispersion in the radial direction
(d%/Draq), with the characteristic time for convection in the axial direction (z/v).
For large values of Pegpt, the concentration profiles have not been developed yet,
while for low value of Pegyt, the fluid has spent enough time in the reactor to have
developed the profiles.

po. =V (6.37)
ent ZDrad

Using the Pegy, in Eq. 6.32 significantly improved the quality of the fit (see
Appendix E, Figure E10). A further improvement was obtained with case 3 (see
Appendix E, Figure Ella), where the radial dispersion coefficient (D;,q) is used
instead of the molecular diffusivity (Dpy ;) in the Schmidt number (Sc). Indeed, Dyaq
also accounts for the particle size and the tortuosity of the catalytic bed, which are
parameters that are expected to affect the mass transfer in the radial direction.
Finally, case 4 proposes two expression for the Sh, defined in two different regimes:
1) for Pegy > 1, the concentration profiles are not developed, thus the correlation
needs to account for the entrance effect with the term (Pegy)?; 2) for Peen < 1, the
profiles are already developed, thus the dependency on the Pegy, is removed.

Table 6.10. Cases description for the Sherwood number correlation for the mass transfer
coefficient Kgp ;.

Case # Sh correlation Sc definition
dy d Sc = _ M
1 Sh = a RePSc® (7) ¢ piDmi
W
2 Sh = a RePSc¢(Pegy)? Sc = —Dl
Pi m,i
Hi
3 Sh = a RePSce(P d Se=—1
aRemse ( eent) piDrad
4 Sh = a RePSc¢(Pegnr)d for Pegpe > 1 Se = Hi
Sh = a RePSc® for Peene < 1 PiDrad

The parameters that were obtained with case 4 are summarized in Table 6.11 and
the quality of the fit is reported in terms of parity plot and Fgatistic in Figure E11b
and Table E3 (Appendix E), respectively. The values of all the patameters are in
line with the range commonly proposed in literature for these types of correlations
[2], [15]. Furthermore, the exponent of the Schmidt number (c) is close to 0.33,
which is a recurrent value in the state of the art mass transfer correlations. Indeed,
the term Sc®33 derives from the analytical solution of similar problems. Therefore,
a refitting of the parameters is proposed, setting the value of ¢ to 0.33, being this an
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assumption with theoretical basis. The re-fitted values of a, b and d do not deviate
much from the previous set of parameters and the quality of the fit is not affected.
The final correlation proposed for the calculation of the k¢p; is summarized in Eq.
6.38-6.39.

Table 6.11. Fitted parameters for Eq. 6.32— Case 4

Parameter Value Refitted value
a 0.4628 0.4338
b 0.3509 0.3583
c 0.3179 0.3330
d 0.2640 0.2634
0.26
Sh = 0.43 (piUSFdh)°'36< i )0-33( udi ) forPegne >1  (6.38)
' Hi€bed PiDrad zDaq
0.36
Sh = 0.43 (pi”SFdh) ( i )0'33 for Pegne <1 (6.39)
Hi€bed PiDraa

The results reported in Figure 6.10 were reproduced using the 1D PBMR model
developed in section 6.6, implementing a mass balance around the membrane
surface, as reported in Eq. 6.40. In such a way, the gradient for the species
permeation can be corrected to account for the concentration polarization
phenomenon via the Kcp;.

kCP,i(Ci]?bulk - Cierszo) = soi(Pier=Rmo - Pip) (640)

The prediction of both CO; conversion and product selectivity obtained via the 1D
PBMR model using the correlation developed in this chapter is quite accurate over
the entire region of temperature (Figure 6.11). As a result, this method could be
used to better estimate the performance of the PBMR accounting for all the relevant
mass transfer phenomena without having to implement a complex and
computationally expensive 2D model.
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Figure 6.11. CO; conversion (a) and product selectivity (b) for a PBMR evaluated via a 1D
model which does not account for CP phenomenon (solid line), a 2D model (stars) and a 1D
model which accounts for the CP phenomenon using the correlation developed in this
section (circles). Operating conditions: TR = 270°C, PRN = 40 bar, (CHZ/CCOZ)IN =3,
GHSV =50 h'!, weaey = 0.5wt %, AP =5bar, SW=1, D, =0.25mm, Lg =0.5m, D;; =
0.1m, Dy, = 0.01m.

The parameter which affects the radial transport of molecules (and thus the
concentration polarization) the most is the velocity, as often reported in literature
[9]. As a result, one of the most effective ways to reduce the effect of the CP and to
increase the effectiveness of the membrane separation, is to increase the velocity in
the reactor. This can be easily done by changing the reactor geometry at constant
volume, thus increasing the reactor aspect ratio (i.e., reducing the reaction zone cross
section). An example is given in Figure 6.12, where the difference in the CO»
conversion and product selectivity between a model which does not account for the
CP phenomenon and a model that accounts for it via the Sh correlation approaches
zero as the inlet velocity to the reaction zone increases.
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Figure 6.12. Difference of CO2 conversion and product selectivity between a model which
does not account for the CP phenomenon and a model that accounts for it via the Sh
correlation. Operating conditions of the PBMR: TR =270°C , PRIN =40bar ,
(CHZ/Ccoz)m =3, GHSV =50 h'!, weat; = 0.5wt %, AP = 5 bar, SW =1, D, = 0.25 mm,
Do = 0.01 m.

6.8 CONCLUSIONS

This study demonstrates that intra-particle diffusion and concentration polarization
are both phenomena that affect the packed bed (membrane) reactor performance
for the CO; hydrogenation to DME, especially at conditions which are relevant to
large scale operation. On the contrary, the intra-particle heat transfer, the particle-
fluid mass and heat transfer as well as the axial dispersion were found to have a
negligible effect on the reactor behavior.

To consider simultaneously the pore diffusion and the CP effects, a complex 3D
PBMR model would be required. However, in this study, useful tools were
developed to account for these phenomena using short-cut methods that can be
implemented in a 1D pseudo-homogeneous reactor model.

Being the state-of-the-art Thiele modulus approach not applicable to this system,
due to the complexity of the reaction network and of the kinetic model, a generalized
Thiele modulus () definition was proposed here, where the diffusion term is
adjusted with the equilibrium concentration. A correlation for the component-
specific efficiency as a function of the Thiele modulus was developed from the
simulation results of the rigorous particle model. This correlation predicts an
efficiency of 1/¢ for large value of the Thiele modulus, which is a result often found
in literature, deriving from analytical solutions of simple systems. The Thiele
modulus-efficiency approach proposed here accurately predicts the CO, conversion
and product selectivity of the rigorous particle-reactor model within a maximum
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deviation of 5%. For values of the Thiele modulus larger than 2, this approach
overestimates the effects of the pore-diffusion. However, this situation occurs in
conditions which are outside the range of interest.

To account for the CP phenomenon in the PBMR model, a Sherwood-type for the
calculation of a mass transfer coefficient (kcp) was proposed. In this correlation, a
Peclet number, which compares the characteristic time for diffusion in the radial
direction with the characteristic time for convection in the axial direction, is used to
account for the entrance effects (i.e., not developed concentration profiles). The
parameters of the correlation were determined fitting the simulation data obtained
via the rigorous 2D PBMR model. The so-developed correlation predicts with high
accuracy (i.e.. deviations less than 5%) the effect of the CP on the PBMR
performance. However, it was found that even in-situations with significant CP, the
PBMR still outperforms the PBR. Nevertheless, the CP effects can be mitigated by
increasing the velocity in the reactor (e.g., increasing the reactor L/D).

In conclusion, given the findings of this work, a further optimization of the PBMR
and PBR was proposed, in view of the relevant mass/heat transfer phenomena. The
optimization is mostly based on the fraction of the zeolite in the catalytic bed. In
literature, a mass fraction in the range 33-50 wt % is often used and the effect of this
parameter on the reaction performance is considered negligible. However, due to
the fast methanol dehydration reaction, significantly less zeolite is required to
achieve equilibrium conditions. The optimal zeolite loading was found to vary in the
range 4-11 wt%, according to the catalyst particle size and the extent of water
removal in the membrane reactor. Indeed, when intra-particle diffusion limitations
are relevant, the optimal zeolite fraction increases, being the zeolite more affected
by pore-diffusion phenomena.
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Appendix E

E.1 Kinetic model and validation

Table E1. Kinetic, adsorption and equilibrium constants for the reaction rates Eq. 6.1-6.4
[12][13]. In these expressions, the unit of temperature (T) is Kelvin (K) and the ideal gas
constant (R) is 8.314 J/mol/K.

Parameter Expression

Kinetic constants

k; (mol s™'bar kg 4.89 - 107 exp _$
k, (mols~*bar™"/?kgcly  1.53 - 10 exp (_ 129R’(F)00)
ks (mol s™*bar~tkggh 171 - 10" exp (_ %)
k, (mol s~'bar~?kgz} 1.69 - 107% exp (‘ 10;;00)
Adsorption constants

beco (bar™1) 2.16 - 107° exp %
bco, (bar™) 7.05 1077 exp (61R?I‘00)
ZZZ? (bar™'/2) 637 + 1077 exp (841,\?0)

beu,on (bar™)

bi,o (bar™)

—73 44.5-103
eXp( R ) P\ T RT

—182 89.6- 103
eXp( R )'eXp RT

Equilibrium constants

K, (bar~?)
Kz ()
K; (bar™?)

Ky O

5139
log1o(Ky) = ——— 12.621

—2073

log,o(K,) = +2.029

3066
log,o(K3) = T - 10.592

In(K,) = 4019/T + 3.707 - In(T) — 2.783 - 1073T + 3.8 - 1077T?
—6.56 - 10*/T3 — 26.64

The kinetic model has been validated with experimental data obtained with a physical
mixture of 50 wt % Cu/ZnO/Al,O3 and 50 wt % HZSM-5, as shown in Figure E1.
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Figure E1. CO; conversion (a), DME yield (b), CO yield (c) and methanol yield (d) as a
function of pressure at 20 bar (black lines/symbols), 30 bar (red lines/symbols) and 40 bar
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Chapter 6

(green lines/symbols) at 3’400 NL-kgcat!-h' and CO,/H2/N2 = 3/9/1. Symbols represent
the experimental data, continuous lines represent the model prediction (combination of the
model by Portha et al. and the model by Ortega et al.)

The physical properties of the catalyst, which were measured experimentally (i.e.,

using N> physisorption and a He-pycnometer) are reported in Table E2.

Table E2. Measured physical properties of the CuZA and HZSM-5 catalyst

Property CuZA HZSM-5
Catalyst porosity (gcat) 0.325 0.4

Average pore diameter (dpore) 7.06 nm 0.55 nm
Catalyst density (pcat) 1300 kgeat/mae 720 kgcat/mgat
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E.2 Membrane properties (CMO08 vs fitting curves)
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Figure E2. Membrane properties of the carbon membrane CMO8 (Chapter 3) in terms of

water and methanol permeance (a) and Ha, CO and CO; permeance (b): markers and lines
represent experimental and simulated data, respectively.

E.3 Physical properties and correlations

The physical properties which are not reported here, were derived according to the
methodology reported in Appendix A (section A.1).

The molecular diffusion coefficient for a binary mixture ( Dpy;;) and a

multicomponent mixture (D, ;) is given by Eq. E.1 and Eq. E.2, respectively, where
V. 1s the diffusion volume of the species 7 [30].

Dnij = % (E.1)
P (véi/3 + véj/3)
1-y;
Dmi =Ty (E.2)
Zj,j:tim

The Knudsen diffusivity in the catalyst pore (Dy;) and the effective diffusion
coefficient (Deg;) are described by Eq. E.3 and Eq. E.4, respectively, with &.4, and
Tcqt being the catalyst porosity and tortuosity (Eq. E.5) [6], [31].

d 8RT

~_ Gpore [OR7 E.3
Dk,l 3 T[Mi ( )

£ 1 1\"
b .=‘it<_+_> (E4)
efti Tcat Dm,i Dk,i
_ C

Tt = T Ay (E.5)
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The effective diffusivity is given by the equation of Coté and Konrad [16] (Eq. E.6)
where A¢ is the conductivity of the fluid mixture and Ay is the thermal conductivity
of the catalyst particle.

)\eff = )\Catl_scat . }lfscat (E6)

The correlation of Dwlvedi for the particle-fluid mass transfer in fixed bed, for the
range 0.1 < Re < 14000, is desctibed below [8]:

£bedkext'iSC0'66 0.765 0.365

VsF ~ Re0®2 + Re0-386 E.7)
MK
se = PiDm,i (E.8)
iVspD
Re= 2ot (E.9)

The correlation of Gupta et al. for the patticle-fluid heat transfer in fixed bed, for
the range 0.1 < Re < 10°000, is described below[21]:

EpedhexcPr®®®  2.876  0.3023

Cp,mixVSpr B Re Re0-35 (El 0)
Co s
pr = Hpmix (E.11)
A
. . . . . . . . o
The axial dispersion coefficient (D,y;) is derived via the correlation of Gunn, as o
follows [21]: §~
, 3]
1 Pe,, , , Pem 3 ( ( ) ) 1
=—1- —p(1 - —_—) - e —— A2
Peax 5 A-p)°+ 25 p(1—p)”(exp p(1 —p)Pen, 1 +TbedPem (E12)
0.48 1 048 75Sc
P =35c01s + (E B Sco-ls) exp (_ Pem) (E.13)
VSFDp
Pe,, = 14
. Dax,i]s)bed (E )
Vsrlp
Pe, = 15
" Dm,i €ped (E )

The radial dispersion coefficient (Dyaq;) is also derived from the work of Gunn, as
follows:

1 1 Ehed

Peraq B Per  tpeqRESC <E16)
VSFDp
Perad = iebea E.17
" DiaqiEbed (E.17)
7

- “Re E.18
Per = 40 29exp( Re) E.18)

The heat is removed from the reactor via external cooling (boiling water): 1) heat is
transferred from the bulk fluid to the reactor walls (h;); 2) the heat is conducted
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through the reactor walls (k) made of stainless-steel and 3) the heat is transferred
to the cooling medium, in the mantle (h,). The global heat transfer coefficient (U)
including these phenomena is defined as follows:

1 _ 1 Dyln(De/Dyi) | Dy 1

The coefficients h; and h, are derived via the following correlations [32], [33]:

h:D P 0.33
Nu = % =0.17 (%) Re®79 (E.20)
£ .
PO 0.4
he = 7.96(T — Ty)? (= 21
0 =796 1,0 (5) (E2D)

Where P, is the atmospheric pressure and Py is the saturation pressure of water (in
the cooling mantle) at the temperature T,,.

The correlation of Boon et al. for the concentration polarization, developed for Ha
separation via palladium membranes is reported below [10]:

kcp,idn dp\**?
Sh=-4h _ 107 62042 = 1.07 (ReSc—) Gz > 62 (E.22)
Dm,i Z
kepid
Sh = CP,i%h

= Shyy¢ = 6.18 Gz < 62 (E.23)
Dm,i

Where dy, (hydraulic diameter) is the annular space between the wall of the vessel
and the membrane, z is the axial distance from the entrance of the vessel.

E.4 Supplementary figures
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Figure E3. Temperature profile in the CuZA (left axis) and HZSM-5 (right axis) catalyst
particle (Ty;=270 °C, P=40 bar, d,=10 mm).
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for the PBMR reactor with the characteristic and conditions reported in Table 6.7. The solid
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Simulations were carried out on a PBMR, under the conditions reported in Table 6.7, using
a zeolite weight fraction of 0.1 wt %.
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Table E3. Values of the Fgistic determined as the ratio of the variance of the lack of fit
and the variance of the experimental error compared to the Fepitica) = 1, obtained from the

Fisher distribution table with a 95% confidence interval and using Ngq¢q and (Ndam -
Npamm) as degree of freedom [20].

Case # Fstatistic
1 0.1456
2 0.1457
3 0.1370
4 0.1369
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Figure E12. CO; conversion (a) and product selectivity (b) for a PBMR evaluated via a 1D
model which does not account for CP phenomenon (solid line), a 2D model (stars) and a 1D
model which accounts for the CP phenomenon using the correlation of Boon et al. [10]
(circles). Operating conditions: TR = 270 °C, PRIN = 40 bar, (Cy, /CCOZ)IN =3,GHSV = 50 h-
!, Wearr = 0.5wt %, AP =5bar, SW=1, D, =0.25mm, Lg =0.5m, D,y = 0.1 m, Do, =
0.01 m.
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CHAPTER 7

Techno-economic assessment of the one-step CO:
conversion to dimethyl ether in a membrane-assisted
process

Abstract

In this Chapter, the impact of the membrane reactor (MR) technology with in-situ
removal of water to boost the performance of the one-step DME synthesis via CO»
hydrogenation is investigated at process scale. Given the higher efficiency in
converting the feedstock, the membrane reactor allows for a remarkable decrease in
the main cost drivers of the process, i.e., in the catalyst mass and in the H» feed flow,
by ca. 39% and 64%, respectively. Furthermore, the MR-assisted process requires
46% less utilities than the conventional process, especially in terms of cooling water
and refrigerant, with a corresponding decrease in environmental impact (i.e., 25%
less CO» emissions). Both the conventional and MR-assisted plants were found
effective for the mitigation of the CO. emissions, avoiding ca. 1.4-1.6
tonco, /tonpyg. However, given the higher reactor and process efficiency, the
membrane technology contributes to a significant reduction (i.e., 25%) in the
operating costs, which is a clear improvement in this OPEX intensive process.
Nevertheless, the calculated minimum DME selling price (i.e., 1739 €/ton and 1960
€/ton for the MR-assisted and the conventional process, respectively) is over 3 times
greater than the current DME market price. Yet, with the predicted decrease of
renewable Hy price and a zero-to-negative cost for the CO» feedstock, the MR-
assisted system could become competitive with the benchmark between 2025 to
2050.

This chapter is based on the following paper:

Poto, S., Vink, T., Oliver, P., Gallucci, F., & Neira d’Angelo, M. F. (2023). Techno-
economic assessment of the one-step CO: conversion to dimethyl ether in a
membrane-assisted process. Journal of CO2 utilization, 69, 102419.
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71 INTRODUCTION

The integration of water selective membranes in a membrane reactor (MR) has
proved to be an effective strategy to improve the DME synthesis [1]—[5]. Chapter 2
demonstrates that removal of ca. 96% of the water produced leads to an
improvement of the CO> conversion and DME yield of 36% and 46%, respectively
[6]. A fixed bed membrane reactor configuration with a cocurrent circulation of a
sweep gas containing the reactants (i.e., CO2 and Hy) is proposed in the same
Chapter, and the effect of the reaction conditions based on ideal membrane
properties is assessed. Such membrane reactor configuration, based on the use of
carbon molecular sieve membranes, is demonstrated at laboratory scale in Chapter
5. In literature, only two studies have investigated the integration of the membrane
reactor technology for the DME synthesis at plant level. De Falco et al. [7]
introduced a specific plant architecture named “Double Recycling Loop DME
production” (DRL-DME), which is based on the simultaneous recycle of the CO»
streams from the permeation zone and the unconverted gas from the reaction zone.
In this study, the authors proposed the use of zeolite membranes to promote the
water separation, using a COs rich syngas as feedstock. More recently, Hamedi et al.
[8] proposed a comparison of the conventional (i.e., with packed beds) direct DME
synthesis via CO2 hydrogenation route with its MR-assisted counterpart, based on
an energy assessment of the two technologies. The authors found that the MR
technology allows for a reduction of the heating and refrigerant demands of ca.
44.5% and 69.4%, respectively. Nevertheless, neither of these studies has
investigated the economics of the two process configurations and, especially the
impact of the MR technology on both capital investment and operating costs. Some
researchers have already identified the cost of hydrogen as the main bottleneck of
any COz hydrogenation process [9]—[12] which is the main factor that currently holds
back industries from investing in these technologies.

Therefore, the study in this chapter proposes a comparison on a techno-economic
level of two routes for the one-step DME synthesis via CO> hydrogenation: 1) the
conventional route, based on a packed bed reactor (PBR) technology; and 2) the
MR-assisted route, based on the packed bed membrane reactor (PBMR) technology.
The two processes are designed at relatively large scale (i.e., 10 kton/y of DME),
and optimized with the objective of minimizing the energy requirement and the H»
consumption, as well as maximizing the efficiency at both reactor and process scale,
reducing as much as possible the utilities consumptions. The main goal is to assess
whether the membrane reactor technology can significantly improve the
performance at process scale, and therefore increase the industrial attractiveness of
this CO» valorisation route. Furthermore, this chapter also proposes a detailed
analysis of the possible conditions which could render this technology more
competitive with the DME market price in the future. Different routes for the Ho
production are considered, as well as different scenarios regarding the price of the
CO:z feedstock based on the relationship between the carbon capture cost and the
carbon tax. Finally, based on these scenarios and on cost predictions, the objective
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of this study is to identify the moment in which this technology will be industrially
appealing and the factors which could delay/anticipate its applicability at large scale.

7.2 METHODOLOGY AND ASSUMPTIONS

Mass and energy balance calculations were carried out via process flow modeling
using Aspen Plus V11 and MATLAB R2019a software. Process intensification
strategies (i.e., the use of membrane reactors), and heat integration were proposed
as a way to improve the energy efficiency of the process. Afterward, the impact of
the capital investment (CAPEX) and operational cost (OPEX) on the minimum
DME selling price (MDSP) necessary to make the system profitable was assessed.

7.2.1  System boundaries

= This analysis focuses on the DME production while the CO. capture,
purification and transport, as well as the H» generation and transport are out of
the scope of this work. As a base case, the COx is assumed to be obtained via
sorption enhanced water gas shift (SEWGS) process from iron and steel off-
gases [13], while Hzis assumed to be supplied by an integrated pipeline network
and produced via a range of the most cost efficient technologies, as determined
by the JRC-EU-TIMES [12], [14] a model which considers H> production
technologies mostly based on steam methane reforming, coal and biomass
gasification, coupled with the CCS. Next, a sensitivity analysis on the cost of Ha
and COz is proposed to evaluate different alternatives as well as to consider
sustainable production methods, in strive for a lower carbon footprint of the
entire supply chain. The Hz and CO; streams are assumed to enter the plant at
3.5 MPa and 25 °C, and ambient conditions, respectively. The purity of both
streams entering the plant is assumed 100%, since the purification of such
streams generally takes place at the site of generation. This assumption is
stronger for the CO; stream, where the purification can significantly affect its
cost. However, the effect of the purification is incorporated in the sensitivity
analysis on the feedstock price.

* The DME production process comprises the following sections: 1) two
multistage compression sections for the H» and COa, respectively, 2) DME
synthesis reactor via one-step CO: hydrogenation in either PBRs or PBMRs, 3)
DME purification via condensation and distillation train, 4) recycle of
unconverted gas and recovery of by-product; and 5) the heat exchanger network.
All these sections constitute the plant inside battery limits (ISBL). The outside
battery limits (OSBL) comprise: 1) the HP-steam generation system, 2) a cooling
tower and 3) a refrigeration cycle based on propylene. The electricity is assumed
to be derived from the grid.

* Both plants target a DME productivity of 10 kton/ year (kKTA). Typical
methanol production plants have productivity ranging from 0.03 to 800 kTA
[15]. Being methanol the conventional feedstock for the DME production
(2 CH30H = CH30CH;3 + H,0), the proposed plant size falls in the range of
typical industrial scale plants. Furthermore, a plant lifetime of 20 years is
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assumed, with a production time of 8000 hours per year, which corresponds to
a capacity factor of 91.3% [12].

= Both technologies are designed to obtain DME fue/ grade, according to the
specification given by the ISO16861 normative developed in 2015 [16].

= The plant is considered to be built in The Netherlands, where the average
temperature is 11 °C and can go up to 19.5 °C during summer, with an average
humidity of 79% [17]. The current carbon tax in the Netherlands is above
average when compared to the rest of Europe [18], making this study more
conservative on this aspect. Thus, a sensitivity analysis is proposed also on this
parameter to evaluate different scenarios and to reflect various geopolitical
situations.

7.2.2 Basis and assumptions for reactor design and sizing

® The packed bed reactor (PBR) and packed bed membrane reactor (PBMR)
design is based on a 1D pseudo-homogeneous plug flow reactor model,
assuming a unitary catalyst effectiveness (i.e., no internal diffusion limitations),
no external mass transfer limitation, and no temperature gradients at the particle
scale as well as in the reactor radial direction. These assumptions are supported
by the results reported in Chapter 6.

® The reactor model consists of mass and energy balances, coupled with the
Ergun equation for the estimation of the pressure drops in the catalytic bed.
Details on the model equations are reported in the Appendix F (section F.2).

® The catalytic bed includes a bifunctional catalyst based on a physical mixture of
90 wt % Cu/ZnO/ALO:; for the methanol synthesis and 10 wt % of HZSM-5
for the methanol dehydration, which follows the kinetics proposed by Portha et
al. [19] and Ortega et al. [20], respectively. The reaction kinetics were considered
to be unaffected by the presence of the membranes. Details on the reaction
pathway and kinetics are reported in Chapter 6, together with the experimental
validation and optimization of the composition of the catalytic bed (i.e., mass
ratio of the Cu/ZnO/ALO; and HZSM-5). To prevent hot spots, silicon
carbide (SiC) is added to the catalyst bed with a volumetric dilution factor of
2/3. An average particle size (d,) of 3 mm was assumed for both catalyst and
diluent. The solid hold-up (&) is set to 0.6 m3,};4/m3eactor-

= A H2CO:z stoichiometric ratio of 3, and a total pressure of 40 bar, based on the
work reported in Chapter 2.

= Circulating boiling water in an external reactor shell was selected as heat
management solution to guarantee a nearly isothermal operation. Therefore, the
temperature of the boiling water (T,,) was optimized accordingly. The flow rate
of the boiling water (rh,,) was determined in such a way that the heat removed
from the reaction environment could be used for the production of medium
pressure (MP) steam (i.e., latent heat exchange).

® The membrane module of the PBMR consists of tubular ceramic-supported
carbon molecular sieve membranes (CMSMs), which show promising
petformance in terms of vapor/gas separation and stability in hot and humid
environment, according to previous chapters. The properties of the membranes
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in terms of permeance of H.O, Hz, CO,, CO and CH3;OH as a function of
temperature were determined experimentally and fitted with an Arrhenius law
[21] (details in Chapter 6 and Appendix E). DME permeance was assumed to
be 50 times lower than that of H,O [22]. A relatively low gradient in total
pressure (AP = 5 bar) between the reaction and permeation zone was selected
to ensure the selective removal of water and, at the same time, to retain the
reactants in the reaction zone. To the same scope, the reactants (i.e., COz, Ho
with H2:COz of 3) are circulated in the permeation zone as a sweep gas [6]. The
SW ratio, defined as the ratio between the flow rate of the sweep gas and the
feed flow rate, is another parameter regulating the driving force for the water
removal. In Chapter 2, a value for SW of 20 was found optimal to remove
effectively both the water and the heat from the reaction environment.
However, this would require an excessive H» make-up for the sweep gas
recirculation, which has been identified as the most critical cost driver of the
COz hydrogenation processes [9], [12]. Thus, this work assumes a SW of 1 to
reduce Hz consumption, while the heat management of the PBMR also relies on
the circulation of boiling water in an external mantle.

® The reactor operating conditions (i.e., temperature and GHSV) were first
optimized for the PBR. Thereafter, the PBMR was assumed to operate in the
same conditions and a sensitivity analysis was carried out to determine the
optimal normalized membrane area (NAp,), as defined in Eq. 7.1, as well as the
composition of the sweep gas in terms of methanol molar fraction.

Am

NA, = —

(7.1)

* The PBR and PBMR were sized to meet the target plant productivity,
accounting for the DME recovery in the separation section. The length and
diameter of the reactors were determined assuming an aspect ratio (L/D) of 5.
The maximum reactor length was set to keep the average temperature equal to
the optimal value without the need to increase the boiling water flow. As a result,
the number of parallel reaction units was calculated. The reactor shell (or cooling
mantle) diameter for the circulation of boiling water was designed assuming a
maximum pressure drop of 0.5 bar [23].

Chapter 7

7.2.3  Basis and assumptions for process modeling

® The flash drums design was based on sensitivity analyses to determine the
temperature and pressure necessary to achieve a 95% recovery of DME in the
liquid phase. A 95% approach to the thermodynamic equilibrium was assumed.
* The distillation columns design and optimization were carried out using the
DTSW and RadFrac models in Aspen Plus. The number of stages (N), reflux
ratio (R), feed position and the distillate-to-feed ratio (D/F) were first estimated
via the DSTW and later optimized by means of a more rigorous model
(RadFrac), which allows to determine the mass and energy balance of the
system. A pressure drop per-stage of 7 mbar [24] was assumed, together with a
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Murphee efficiency of 85% to account for deviation from the equilibrium.
Column internals are trayed and the column diameter, tray spacing and hole
area/active area ratio were optimized to avoid drying up and with a 80%
approach to flooding.

The heat exchanger network (HEN) was designed based on the pinch analysis
[25]. Counter-current shell and tube heat exchangers were modeled in Aspen
Plus, using a shortcut method on design basis. A minimum temperature
difference (ATy,) of 5 °C was assumed for mild temperature conditions. For
tempetatures below 0 °C and above 200 °C, the ATy, was increased to 10 °C.
All the turbomachines (compressors, pumps and steam turbines) were modeled
in Aspen Plus assuming an isentropic and a mechanical efficiency to determine
the thermodynamic conditions of the outlet stream and the energy balance. The
isentropic and mechanical efficiency was assumed to be 0.85 and 0.95 for
compressors and pumps, respectively. For the MP-steam turbine, an isentropic
and mechanical efficiency of 0.8 and 0.99 are assumed, respectively [206].

HP steam at 40 bar and 250 °C is produced pressurizing and vaporizing the
wastewater stream from the separation train. The required heat duty for the
boiler is generated by the combustion of natural gas in a furnace. The
combustion temperature was set at 1100 °C and the flow of air was determined
by assuming a concentration of Oz in the exhaust of 4 vol. %, to ensure complete
combustion. The net thermal efficiency of the industrial boiler was set at 90%
[27].

A cooling tower is used to reduce the costs of the cold utilities via the
recirculation of the cooling water in the system. The required air flow as well as
the amount of water which evaporates were calculated assuming a relative
humidity of the air of 79% and an average air temperature of 20 °C, to design
the tower in the worst-case scenario. The cooling water outlet temperature from
the tower was set at 25 °C. The make-up of fresh water that needs to be fed to
the system corresponds at least to the amount of water that evaporates in the
cooling tower.

7.2.4 Basis and assumptions for the economic analysis and economic

indicatotrs

The objective of the economic analysis is to determine the minimum DME selling
price (MDSP) necessary to make the system profitable, applying the methodology
of the discount cash flow analysis (DCFA). The CAPEX was estimated via the
factorial method based on Lang factors, according to which the CAPEX is a factor
of the purchase equipment cost (PEC), as reported in Table 7.1 [28]—[30].
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Table 7.1. CAPEX estimation methodology via factorial method based on Lang factors
[28]]29].

Cost component Lang factor

Purchase Equipment Cost (PEC) 1

Purchase equipment installation 0.39

Instrumentation and controls 0.26

Piping 0.31

Electrical system 0.1

Building (including services) 0.29

Yard improvements 0.12

ISBL 2.47 - PEC

OSBL 0.12 - ISBL

Engineering and supervision 0.32 - (ISBL+OSBL)
Construction expenses 0.34 - ISBL+OSBL)
Legal expenses 0.04 - ISBL+OSBL)
Contractot’s fee 0.19 - (ISBL+OSBL)
Indirect Costs (IC) 0.89 - ISBL+OSBL)
Project contingency 0.15 - ISBL+OSBL+IC)
Process contingency 0.05 - ISBL+OSBL+IC)
Fixed Capital Investment (FCI) 1.2 - (ISBL+OSBL+IC)
Working Capital (WC) 0.15 - FCI

Start-up costs 0.06 - FCI

CAPEX 1.21 - FCI

For the calculation of the PEC, correlations from W. D. Seider [31] and R. Smith
[32] were used, based on 2000 and 2002 as reference year, respectively. The PEC is
then actualized to the base year of this study (i.e., 2020) using the Chemical
Equipment (CE) index, as reported in Eq. 7.2, where Cp is the purchase cost of
equipment.

PEC = Cp% (7.2)

Eref

Details on the correlations used for the calculation of the purchase equipment cost
of all the equipment are reported in Appendix F (section F.3). The plant operates at
temperature between -50 °C and 260 °C and a maximum pressure of 40 bar. As a
result, carbon steel is used in most circumstances, while stainless steel was selected
for pumps and compressors.

The OPEX is defined as the sum of the variable and fixed operating costs
OPEXyariable and OPEXgiyeq, respectively. The OPEX, 4 iaple depends on the cost of
the feedstock (i.e., CO2 and Hb), utilities (i.e., electricity, cooling water, natural gas),
the waste water treatment and the annualized cost for the catalyst and membranes,
for which a lifetime of 2 and 5 years was assumed, respectively [9],[33]. The values
used for these costs are reported in Table 7.2. It is important to note that the cost
of COs refers to the cost of integrating the SEWGS technology in a steel plant, as
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determined by G. Manzolini et al. [13]. The transport of CO» is not accounted for
in this cost, since this study assumes that the COz-to-DME technology will
eventually be implemented on-site with respect to the CO, emitting source or
factory. However, a more detailed analysis on the effect of the CO> feedstock price
is given in section 7.6.5.

Table 7.2. Prices assumed for the variable operating costs (OPEXyariaple)

Cost voice Price Unit Reference
H: (integrated pipeline network) 2945 €/ton [12],[34]
CO: (SEWGS) 33 €/ton [13]
Electricity 0.06 €/kWh [35]
Cooling watet 0.2 €/ton [31]
Wastewater treatment 0.4 €/ton [12]
CuO/Zn0O/ALO3 95.2 €/kg [12]
HZSM-5 22 €/kg [9]
Natural gas 0.036 €/kWh [35]
Al-supported Carbon Membranes 1950 €/m? [33]
Methanol” 390 €/ton [36]

“The price of methanol was used to determine the selling price of the methanol as a by-product

The OPEXfiyeq are calculated on an annual basis and the methodology adopted for
their estimation is summarized in Table 7.3, where all the fixed cost components
are reported. The labor requirement is calculated based on the number of operators
required on site and on the average yearly salary in the Netherlands (i.e., 55 000 €
[37]), as reported in Appendix F (section F.4).

Table 7.3. Methodology for the estimation of the OPEXfjyeq

Cost component Value

Supervision 0.25 - Labor

Direct overhead 0.25 - (Labor + Supervision)

General overhead 0.65 - (Labor + Supervision + Direct overhead)
Maintenance labor 0.65 - FCI

Maintenance matetials 0.03 - ISBL

Insurance and tax 0.015 - FCI

Financing working capital Debt interest - WC

To compare the impact of CAPEX and OPEX and to evaluate the total annual cost
(TAC), the CAPEX is calculated on an annual basis (ACAPEX), according to the
methodology reported in Appendix F (section F.4). The total annual cost (TAC) is
determined as follows:

TAC = OPEX + ACAPEX (7.3)
The minimum DME selling price (MDSP) was determined based on the discounted

cash flow (DCF) analysis, reported in Appendix F (section F.4). All the financial
parameters and assumptions required for the calculation of the ACAPEX and the
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MDSP are reported in Table 7.4. The plant is assumed to be financed in a 50/50
debt/equity split. Considering a 4% interest rate on debt according to the recent
interest rate charges [38], and a cost of equity of 12%. The capital investment is
assumed to be spent in a three-year construction period as follows: 20%, 50% and
30% for each consecutive year. The price of raw materials, utilities, product and by-
products are estimated for the year 2020 and are considered constant for the next
20 years, as a base case. The best method of depreciation was evaluated within the
analysis, based on the expected cash flow for the generic year n. The plant is
expected to be fully depreciated at the end of its life, so no salvage value is expected.

Table 7.4. Financial parameters and assumptions

Parameter Value
Location Netherlands
Base year 2020
Project lifetime (y) 20
Construction period (y) 3
Plant availability (h/y) 8000
Tax rate (%) 25
Equity/Debt rate 50/50
Debt interest rate (%) 4
Cost of equity (%) 12
WACC (%) 8
Depreciation period (y) 10
Salvage value (€) 0
Exchange rate (USD/EUR) 1.142

7.2.5 Technical and environmental key performance indicators (KPIs)

The definitions of the CO; conversion and DME yield at both reactor (i.e., pet-pass)
and process scale (i.e., taking into account the recycle streams) are reported in Eq.
7.4-7.6. In the performance evaluated at reactor scale, the subscripts R and P stand
for either reaction or permeation zone, respectively. The loss or cofeeding of CO;
(i.e., through back-permeation of sweep gas in the reaction zone) was considered in
the terms Fco, tmb and Feo, tmp [0]- Another important KPI of the membrane
reactor is the efficiency of the water removal (WR, Eq. 7.7), which represents how
effectively the membrane removes the water produced by the reaction system. This
last indicator can be derived for each species permeating through the membrane.

R R
(Xcoz)per—pass - FCO;%OZ‘:TZFEOSSI::tmb 7.9
(YDME)per—paSS = ZISFBME +*FBME) (7.5)
Fco,0 + Fco,,tmb
Fib, — Fag.

(Xcoz)process = ngz (76)
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P
Fh,0

WR=——120
Fi,o *+ Fi,o

(7.7)

The plant performance was then evaluated in terms of efficiency indexes, as
described below.

The cold gas efficiency (CGE, Eq. 7.8), defined as the ratio of the energy content of
the valuable products (i.e., DME and methanol) and the energy content of the feed
(i.e., Hz), where the energy content refers to the low heating value (LHV).

_ pymeLHVpME + MveonLHVMeon

CGE
iy, LHVy,

(7.8)

A low H» consumption reflects a high potential for the commercialization of the
process. As a result, an index representing the H» consumption per unit of
hydrogenation product My, topme) is defined according to Eq. 7.9. The ny,topmE can
assume a minimum value of 0.26 ton/ton, which corresponds to a complete
conversion of H> to DME.
_ M,

MNH,toDME MpE
The definition of the overall plant efficiency (1¢,t) was re-adapted from previous
works [26],[39], as follows:

n — Wchem
“ WeLinoout (7.10)
NEl

(7.9)

The chemical energy (Wepem) and the energy of the feed (Wgeeq) correspond to the
energy content of the product and of the Ha, respectively, defined in terms of LHV,
as in Eq. 7.8. The denominator of N, represents the energy input to our system,
necessaty for the production of the chemical energy (Wepenm) contained in the
products. As a result, besides the energy corresponding to the Ha (Weeq), the energy
of the natural gas (Wyg) required for the production of the HP-steam and the net
electricity consumed/produced ( Wgjinoour ) need to be included. Since the
production of electricity is not considered in this process, it is assumed that the
electricity is produced with a natural gas combined cycle, with a net efficiency (g;)
of 58.4 % [26].

Next, the level of heat integration of the process is assessed with the efficiency of
the utilities (Zyeqities), Which represents the amount of cooling (i.e., propylene used
as refrigerant and cooling water) and heating (i.e., HP-steam) utilities compared to
the amount of DME produced (Eq. 7.11).

— Fpropyl. + FCW + Fsteam (7‘11)
FDME

Zytilities
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Where Fpropy1, Few and Fgeam are the molar flow rate of propylene, cooling water
and steam and Fpyg is the molar flow of DME produced by the industrial plant.

The carbon footprint of the produced DME was evaluated in terms of net CO»
emissions (Mco, omissions)> 21d CO2 avoided or used (e, ,yqi4eq)> 25 i0 Eq. 7.12-
7.13. The direct CO2 emissions (Mco, 4;e,,) include both the unconverted CO,
which is not recycled (ie., purge streams), and the CO. produced after the
combustion of the natural gas for the HP steam generation. The second term of Eq.
7.12 (Weyin * o, ) represents the indirect CO2 emissions related to the production
of the electricity, assumed on average as 330 gco,/kWh as in a natural gas combined
cycle [40]. The indirect fraction of mco, . 0. only accounts for the generation of
the utilities. The CO» emissions related to the feedstock (i.e., H2 production, CO»
capture, as well as their storage and transport) are neglected, being a thoroughly life
cycle assessment out of the scope of this work.

mcoz,emissions = Z mcoz,direct + WEl,in ’ mCOz,CC (712)

mcoz,avoided = mcoz,in - mcoz,emissions (713)
7.3 RESULTS OF PROCESS MODELING
7.3.1 Conventional DME production process

Packed bed reactor design

The effect of the reaction temperature and GHSV on the conversions and yields
evaluated under isothermal conditions is depicted in Figure 7.1. Given the
exothermicity of the desired reactions, temperature has a negative effect on DME
yield (Ypmg) and CO; conversion (X¢o,) in favor of the CO yield (Y¢o), as depicted
in Figure 7.1a. On the other hand, the catalyst requirements to reach the optimal
gas hourly space velocity (GHSV) decrease exponentially with temperature (i.e., the
catalyst mass decreases by 82% from 200 to 220 °C), while the change in DME yield
is almost linear. As a result, a reaction temperature of 220 °C was selected as a trade-
off. The optimal GHSV which maximizes Ypyg at these conditions is 64.3 h-!
(Figure 7.1b), which is comparable to the range of space velocities reported in
literature for similar systems [9]. A boiling water temperature (T,,) of 196 °C and a
corresponding pressure of 14.3 bar was found optimal, keeping an average
temperature of 220 °C. Based on these results, the reactor was sized to meet the
target DME productivity. Size characteristics and operating conditions of the
reaction unit of the conventional DME production process are summarized in
Table 7.5. Pressute drops were found negligible (ca. 0.025 bat), given the low gas
superficial velocity and the large catalyst particle size.
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Figure 7.1. CO; conversion, DME yield and CO yield (left side bars) and on the catalyst
mass (right side line) as a function of temperature (a) and DME yield as a function of the
GHSV at 220 °C (b)

Table 7.5. Characteristics of the PBR-based reaction section in terms of size of reactors,
number of reactors, catalyst bed properties and operating conditions. The inlet catalyst mass,

the inlet volumetric flow and the boiling water mass flow are reported as the sum of the two
PBR

Geometrical properties of the PBR section
Parameter Unit Value

Number of reaction units - 2
Reactor length (L) m 16.1
Reactor internal diameter (D) m 3.22
Reactor external diameter (D) m 3.38
Reactor shell internal diameter (Dg;) m 3.5
Reactor shell external diameter (D) m 3.55
Catalyst mass per reactor (Mg,y) ton 63.09
Reaction conditions and properties of the PBR section

Parameter Unit Value
Inlet temperature (Typ) °C 200
Inlet pressure (Piy) MPa 4
Boling water temperature (Ty,) °C 196
Boiling water mass flow (mh,,) ton/h 2.14
Bed porosity (g) m3oiq/Mieac. 0.4
Catalyst particle size (dp) mm 3
Catalyst dilution factor kgsic/Kgcat 1.33
CuZA/HZSM-5 mass ratio kg/kg 9
Gas houtly space velocity (GHSV) h™! 64.3
Inlet volumetric flow (®;,) 102 Nm?3/h 1.687
H»:CO; feed molar ratio mol/mol 3

Conventional process description

The process flow diagram of the one-step CO: conversion to DME using
conventional packed bed reactors is depicted in Figure 7.2. CO; enters the plant at
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ambient conditions (i.e., 1 bar and 25 °C) as stream 28 and it is compressed to 40
bar (i.e., working pressure of the PBR reactor units) via a multistage compressor unit
(MCU) comprised of four compressors (C1 to C4) with intermediate cooling. The
outlet temperatutre of each heat exchanger of the MCU is ca. 35 °C. Then, Hy is fed
to the system at 35 batr and 25 °C (stream 30), and it is compressed to 40 bar via a
single stage compressor (C6). The pressurized Hz and CO» feed streams (stream 38)
mix with the recycle (stream 23), and the resulting stream (stream 25) is first pre-
heated to 195 °C in E1 using the heat of the effluent gas from the reaction section,
and then to 200 °C (i.e., reactor inlet temperature) in E13 using HP steam. Once
conditioned, the gas stream (stream 27) is fed to the reaction section, which
comprises two parallel PBRs working at average temperature of 220 °C and pressure
of 40 bar. The outlet stream from the reaction zone (stream 0) is then re-compressed
to 40 bar to overcome the pressure drops encountered in the reactors (i.e., 0.025
MPa) prior to the recycle. This also allows a high DME recovery (= 95%) in the
condensation step, which, given the high volatility of DME, takes place in the flash
drum V1 at -33.4 °C. To minimize the cooling requirements, this is done in five
consecutive heat exchangers (i.e., E1-E5) that allow integration of the heat generated
in the reaction in other parts of the process, namely the pre-heating of the inlet
stream to the reactor (E1) and heating of the liquid produced at the flash drum V1
(E2). The remaining heat is used to heat up cold utilities (i.e., cooling water for E3
and E4 and propylene for E5). The flash drum V1, separates a vapor phase
containing CO, Ha and part of the CO> at the top (stream 8), from a liquid phase
stream containing DME, methanol, water and a large portion (i.e., CO2 mass fraction
of 44.1%) of COz at the bottom (stream 7). The gaseous stream (stream 8), together
with the CO; separated within the distillation train (stream 13), is recycled back to
the reactor, with a recycle ratio of 99% (i.e., 1% of the stream is purged as gas waste).
The liquid stream from V1 (stream 7)., instead, is first heated to 90 °C (E2) and fed
to the first distillation tower (T'1). The distillation tower T1 operates at 40 bar in a
temperature range of 64.7 °C-235.4 °C to separate DME and CO; over the top
(stream 10) and methanol and water at the bottom (stream 11). The DME/CO,
stream is cooled down to 45 °C (E6) and fed to the column T2, operating at 40 bar
and 4.8 °C-110.6 °C, to separate CO: at the top (stream 13) and to produce a fue/
grade DME (i.e., purity of 99.91 wt %) at the bottom (stream 15). The pure DME
stream is then depressurized to 10 bar and cooled down to 35 °C (E11), which ate
the typical DME liquid storage conditions. Finally, stream 11, bottom product of
T1, is depressurized to 30 bar and fed to the last distillation tower (I3), which
operates in a temperature range of 185-234 °C, to separate 99.92 wt % pure water at
the bottom (stream 21) and industrial grade methanol at the top (stream 18), which
is then depressurized to 10 bar and cooled down to 35 °C (E10). Details on the mass
balance of the plant (i.e., stream tables) are reported in Appendix F (Table F1). The
generation and usage of the utilities are also reported in the scheme in Figure 7.2
with dotted lines.
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Figure 7.2. Process flow diagram of the one-step CO; conversion to DME process via
packed bed reactors

7.3.2 MR-assisted DME production process

Packed bed membrane reactor design

The packed bed membrane reactor was designed according to the procedure
described in section 7.2.2. The operating pressure and temperature of the reaction
zone are the same as those identified for the conventional packed bed reactor, while
the conditions regulating the driving force across the membrane (i.e., AP and SW)
were selected based on the work reported in Chapter 2. To prevent any loss of
reactant (especially the costly H») across the membrane, a sweep gas with a similar
composition and pressure as those in the feed stream is fed to the permeation zone.
Nevertheless, this strategy alone is not effective to prevent methanol removal (MR),
which can achieve values above 50% (Figure 7.3a, right axes), resulting in an
increase in Yyeoy and a decrease in Ypyg, lowering the efficiency of the membrane
reactor. A sensitivity analysis was carried out to determine the normalized membrane
area (NAy,) that maximizes Ypyg (Figure 7.3a). The Ypyg displays an optimum
corresponding to NA, of ca. 3.65-102 m2h/Nm?. Greater membrane areas lead to
a decrease in Ypyg due to the removal of methanol from the reaction zone.
Alternatively, the concentration of methanol in the sweep gas can also be optimized
to prevent losses. Therefore, the methanol concentration in the sweep gas was
optimized to keep the Yyeon close to zero, which means that all the methanol
produced is effectively converted to DME and does not permeate through the
membrane. It was found that a molar fraction of methanol of 6.37%, together with
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a normalized membrane area of 4.11°102 m2-h/Nm3 maximizes Ypyg. The gas
composition in the permeation zone (Figure 7.3b) obtained in these conditions
shows that only water is effectively removed from the reaction environment. Indeed,
the concentration of the component in the sweep gas (i.e., Ha, CO2 and methanol)
slightly decreases only due to the dilution effect caused by the permeation of water.
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Figure 7.3. PBMR performance in terms of Ypyg and Yyeon (on the left) and water removal
(WR) and methanol removal (MR) (on the right) as a function of the normalized membrane
area (a); composition of the sweep gas/permeate stream as a function of the normalized
reactor length (z/L) when 6.37 mol% of methanol is incorporated in the sweep gas (b).

The optimal temperature of the boiling water (T,,) in this case was 178 °C (i.e., lower
than that for the PBR), with a corresponding pressure of 9.6 bar. As a matter of fact,
the PBMR achieves higher conversion, leading also to greater heat production.
Details on the reaction unit and operating conditions of the MR-assisted DME
production process ate summarized in Table 7.6. Pressute drops are negligible (ca.
0.025 bar), similarly to the PBR.

Table 7.6. Characteristics of the PBMR-based reaction section in terms of size of reactors,
number of reactors, catalyst bed and membrane properties and operating conditions.

Geometrical properties of the PBMR section

Parameter Unit Value
Number of reaction units - 1
Reactor length (L) m 17.2
Reactor inner diameter (D) m 3.45
Reactor outer diameter (D,,) m 3.61
Reactor shell inner diameter (Dg;) m 3.75
Reactor shell outer diameter (Dg,) m 3.80
Catalyst mass per reactor (Mc,¢) ton 63.09
Membrane inner diameter (Dyy;) m 0.007
Membrane outer diametet (D) m 0.01
Membrane length (Ly,) m 17.2
Number of membranes (Ny,) - 783
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Reaction conditions and properties of the PBMR section

Parameter Unit Value
Inlet temperature reaction zone (T{R) °C 200
Inlet temperature permeation zone (T{) °C 200
Inlet pressure reaction zone (PR) MPa 4
Trans-membrane pressure gradient (AP) MPa 0.5
Boling water temperature (Ty,) °C 178
Boiling water mass flow (mh,,) ton/h 1.78
Bed porosity (€) m3 4/ Mieac. 0.4
Catalyst particle size (dp) mm 3
Catalyst dilution factor kgg;c/KEcat 1.33
CuZA/HZSM-5 mass ratio kg/kg 9
Gas houtly space velocity (GHSV) h™1 64.3
Inlet volumettic flow (Py,)-10-3 Nm?3/h 1.029
Sweep gas ratio (SW) mol/mol 1
H>:CO; feed molar ratio reaction zone mol/mol 3
H2:CO; feed molar ratio sweep gas mol/mol 3
Methanol in sweep gas (Vieom.in) 102 mol/mol 6.37

"R. and P. stands for reaction and permeation zone, respectively.

MR-assisted process description

The process flow diagram of the one-step CO: conversion to DME process via
packed bed membrane reactors id depicted in Figure 7.4. CO; enters the plant at
ambient conditions as stream 77 and it is compressed to 35 bar (i.e., pressure of the
sweep gas of the PBMR units) via the same MCU previously described (i.e., four
compressors with intermediate cooling to 35 °C). Hz is fed to the system at 35 bar
and 25 °C as stream 90 and it is split in two streams: 1) stream 91 for the reaction
zone feed (51% of stream 90) and 2) stream 92 for the sweep gas make-up (49% of
stream 90). With similar proportion, also the CO> stream at 3.5 MPa (stream 85) is
split in: 1) stream 80, for the reaction zone and 2) stream 87, for the sweep gas. The
H: and COs streams directed to the reaction zone are both compressed to 40 bar via
C6 and C5, respectively, and then mixed with the recycle (stream 20). The resulting
stream 43 is first pre-heated to 180 °C via E1, using the heat of the effluent gas from
the reaction section, and then to 200 °C (i.e., reactor inlet temperature) via E7 using
HP steam. The Hs and CO; streams directed to the sweep gas mixed with two recycle
streams: 99% of stream 27 and the methanol separated at the top of T3 (stream 35).
The resulting stream 40 is first pre-heated to 193 °C, via E4, using the heat of the
permeated stream from the PBMR, and then to 200 °C via E6 using HP steam.
Stream 45 and 42 are respectively fed to the reaction and permeation zone of the
PBMR, which works at an average temperature of 220 °C and a pressure of 40 bar
and 35 bar, respectively. The outlet stream from the reaction zone (stream 0) is re-
compressed to 40 bar and cooled down to -26 °C to recover DME in the liquid
phase. This is done via three heat exchangers: E1, used to pre-heat the inlet stream
to the PBMR reaction zone, and E2-E3 using cold utilities (i.e., cooling water and
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propylene). The flash drum (V1) separation is similar to that in the conventional
plant, as well as the recycle of the gaseous stream, combined with the CO; recovered
from the liquid phase.

The permeate stream from the PBMR (stream 21) is cooled down to 36 °C via three
heat exchangers, first pre-heating the sweep gas stream (E4), then for heating the
liquid phase produced via the second flash drum V2, prior to the distillation (E9)
and finally with cooling water (E5). The resulting stream 24 is fed to the flash drum
V2, which separates the permanent gas at the top (stream 25) from a liquid stream
containing 55.6 wt % of water and 35.8 wt% of methanol at the bottom (stream 20).
About 70% of the gaseous stream (stream 25) is recycled to the permeation zone
(stream 27), together with the methanol stream recovered from the distillation
section (stream 35), as previously mentioned. The remaining 30% (stream 28) is
recycled to the reaction zone, after being compressed to 40 bar (C5).

The liquid stream from V1 (stream 6) is first used as internal utility stream in the
CO2 MCU and then fed at 70 °C to the first distillation tower T1. The distillation
tower T1 operates at 40 bar and in a temperature range of 80.1 °C-220.4 °C to
separate DME and CO; over the top (stream 12) and methanol and water at the
bottom (stream 13). The DME/CO; stream is cooled down to 40 °C and fed to the
column T2, operating at 40 bat and between 9.4 °C- 111 °C, to separate CO; at the
top (stream 15) and to produce a fwe/ grade DME (i.e., purity of 99.91 wt %) at the
bottom (stream 16). The pure DME stream is then depressurized 10 bat and cooled
down to 35 °C (E16), to achieve the DME liquid storage conditions. The liquid
stream from V2 (stream 20), is heated up to 200 °C (E9, E26 and E10) and then
mixed with the water/methanol stream from T'1, previously depressutized to 30 bar
(stream 31). The resulting stream 33 is then heated to 220 °C (E11) and fed to the
last distillation tower (T3), which operates at 35 bar and in a temperature range of
185-241 °C, to separate 99.9 wt % pure water at the bottom (stream 36) and 99.9 wt
% pure methanol at the top (stream 35), which is recycled to the sweep gas stream,
as already mentioned. Details on the mass balance of the plant (i.e., stream tables)
are reported in Appendix F (Table F2). As for the process flow diagram of the
conventional process, the generation and usage of the utilities are also reported in
the scheme in Figure 7.4 with dotted lines. Furthermore, to facilitate their
identification, the sweep gas and permeate stream (before the separation) are
represented as dashed lines.
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Figure 7.4. Process flow diagram of the one-step CO» conversion to DME process via
packed bed membrane reactors

7.3.3 Heat integration and generation of the utilities

The hot and cold composite curves of the conventional and MR-assisted process are
depicted in Figure 7.5a and b, respectively. The curves were obtained using the pinch
method developed by Linnhoff [25] with a ATy, of 10 °C. The process minimum
energy targets in terms of hot (Qy) and cold (Q.) duty were determined for both
processes, starting from the stream thermal data (i.e., mass and energy balances).
The Qy, for the conventional and MR-assisted process is very similar (i.e., 455 kW
and 444 kW, respectively), with the latter being ca. 2.4% lower. As a matter of fact,
the DME synthesis is an exothermic process and with the membrane reactor
technology, an extra hot stream is produced (i.e., the permeate), from which it is
possible to recover the heat for the cold streams. On the other hand, the Q. of the
MR-assisted process is much higher than that of the conventional process (i.e., 421
kW vs 99.3 kW), for the same reason. Indeed, also the permeate stream undergoes
some separation (i.e., condensation and distillation of the liquid product), which
mainly requires cooling duty. The maximum heat recovery which corresponds to the
minimum energy targets is 1588 kW and 1527 kW for the conventional and MR-
assisted process, respectively. The heat management of the reaction unit was not
included in the construction of the composite curves. However, it should be
considered that the conventional process has one more reaction unit than the MR-
assisted process, requiring ca. 10% more cooling duty.
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Figure 7.5. Hot (red) and Cold (blue) composite curves obtained for the conventional (a)
and for the membrane reactor (MR) assisted (b) one-step DME production process, obtained
applying the graphical approach of the Linnhoff method [31] with a2 ATmi, of 10 °C.

Following this calculation, the heat integration within the two process was carried
out through the maximization of the internal heating and cooling (i.e., using process
streams instead of external utilities) and using cooling water, refrigerants and steam
when necessary. As a result, the energy saving (i.e., fraction of the maximum heat
recovery target) is 62.1% and 75.7% for the conventional and MR-assisted process,
respectively. A general overview of the HEN of the two processes is given in Table
7.7. The minimum number of heat exchangers (Up,) was determined according to
Eq. 7.14, where Ny is the total number of hot and cold streams, L the number of
independent loops and S the number of independent subsystems. In our case, L = 0
and S = 1, which give the same formula proposed by Linnhoff. The amount of heat
exchangers used is higher than Up,;,, due to the internal heat exchange, which allows
for a reduction of the utilities and of the OPEX.

Upin =Ng+L—S (7.14)

Table 7.7. Heat exchangers network specifications of the conventional and MR-assisted
processes.

Conventional MR-assisted
process process
Amount of heat exchangers 21 27
Minimum number of heat exchangers 15 19
Heat exchangers with internal exchange 2 9
Heat exchangers in refrigeration cycle 2 2
Heat exchangers with cooling water 12 7
Heat exchangers with HP steam 5 9

The remaining heat exchangers are based on external utilities. As described above,
the flash drum V1 operates at -33.4 °C and -26 °C in the conventional and MR-
assisted process, respectively, while the condenser of the tower T2 operates at 5 °C
in both cases. Thus, propylene is selected as cooling medium. Propylene can cool
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down streams till -48 °C with a less energy intensive refrigeration cycle, when
compared to ethylene. As a matter of fact, propylene requires a lower pressure to
achieve its dew point at 35 °C. An overview of the refrigeration cycle is given in
Table 7.8.

Table 7.8. Details of the propylene usage via the refrigeration cycle for the conventional and
MR-assisted process.

Conventional process

Value Unit ID
Propylene flow 13045 kg/h -
Tin/ Tout propylene (V1) -48/-46 °C E5
Tin/ Tout propylene (T2) -46/-3 °C E21
Energy for compression 788 kW C5

MR-assisted process

Value Unit ID
Propylene flow 5470 kg/h -
Tin/ Tout propylene (V1) -48/-42.°C E3
Tin/ Tout propylene (T2) -42/4 °C E27
Energy for compression 327 kW Cc7

The remaining cooling duty is supplied via cooling water. Instead of using
continuously fresh water, a cooling tower is implemented in both systems to further
reduce the OPEX. The cooling tower cools down the water by evaporating a small
portion of it, mixing warm water with air. Therefore, the outlet temperature of the
water is limited by the air temperature, which in the Netherlands is 11.7 °C as yearly
average, ot 20 °C in the summer. For a conservative design, the air inlet temperature
is set at 20 °C, which limits the water outlet temperature to 25 °C. For the heat
exchangers that require a slightly lower water temperature (i.e., 15 °C), extra fresh
water is fed to the system at 15 °C. This is to avoid the use of more refrigerant,
which would otherwise result in a higher OPEX and CO; footprint. Instead, the use
of more fresh water than the required make-up to the cooling tower results in some
purge of warm water before being recycled to the tower. A schematic representation
of the cooling water (CW) usage and recycle is given qualitatively in Figure 7.6.
Fresh CW enters the system at 15 °C with a flow of 9.91 ton/h and 5.40 ton/h for
the conventional and MR-assisted process, respectively, to be then mixed with the
corresponding 157 ton/h (43.6 °C) and 87.6 ton/h (52 °C) warm water stream from
the heat exchangers network (HEN).
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Figure 7.6. Schematic representation of the cooling water usage and recycle via the cooling
tower for both processes. CW indicates cooling water.

In both process configurations, a small portion of the warm water which is not
recycled to the cooling tower is fed to a pump and a furnace, which burns natural
gas and produces HP steam (i.e., steam at 40 bar and 250 °C). The HP steam
production and usage is represented in detail in Appendix F (Figure F1). As the HP
steam is used in the HEN, its quality decreases down to high temperature boiling
water, which is used in the reaction unit for the heat management. The medium
pressure (MP) steam obtained in this way is fed to a steam turbine to produce
electricity. The exhaust gases produced at the furnace are used for the reboiler of the
tower T2 (E8) and for the pre-heating of the sweep gas (E6) in the conventional and
MR-assisted process configurations, respectively. Further details on the natural gas
input and electricity produced from the steam turbine are reported in Table 7.9.

Table 7.9. Input and output of the HP steam generation and cycle for the conventional (a)
and MR-assisted (b) one-step DME production process.

Conventional process MR-assisted process
Natural gas required (m?/h) 281 249
Steam turbine output (kW) 261 197

7.4 TECHNICAL ANALYSIS

The two technologies proposed in this study are first compared at the reactor scale
(Table 7.10). The membrane reactor, removing ca. 72% of the water produced in
the reaction zone, allows for an increase of 41% and 63% in the Xcozper pass and
YDMEp er pass’ respectively. Most importantly, the PBR and PBMR work at the same
GHSYV, which means that the PBMR requires ca. 40% lower mass of catalyst and
flow of reactants to achieve the same DME productivity, given the higher
performance of the PBMR . As a result, the membrane reactor technology allows
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for a reduction in the number of reaction units required to achieve a specific
productivity (i.e., with the PBMR we can remove one parallel reactor). Another
important aspect is that the PBMR requires 64% less Hz per unit mass of DME
produced, Ny, , pye> (-€, 0.47 and 0.78 for the PBMR and PBR, respectively). This
means that the PBMR converts H, more efficiently, reducing the impact of one of
the main cost driver, as well as bottleneck, of the hydrogenation processes. The
PBMR is not only more efficient in terms of conversion/yield, but also in terms of
energy efficiency and CO; footprint. The amount of boiling water required for the
heat management is 17.3% lower than that for the PBR, which means that less
energy and natural gas are required for the production of the reactor utility. Finally,
the PBMR shows a CGE of 88% versus the 76% of the PBR, which confirms that
also the energy conversion of the PBMR is more efficient.

Table 7.10. Key performance indicator (KPI) at the reactor level: comparison of the PBR
and PBMR unit for the DME synthesis via CO; one-step hydrogenation

KPI PBR PBMR
Number of reaction units 2 1

Catalyst mass (M¢,t) 126 ton 77.0 ton
Membrane area (Ay,) 0 423 m?
CO2 conversion (Xco, ... ) 38.7% 54.6%
DME yield (YoM pey pass) 32.2% 52.6%
DME selectivity (SpmE) 83.2% 96.4%

H; feed (i}, 9.16 kton/y 5.59 kton/y
CO; feed (m(p, 66.3 kton/y 40.6 kton/y
DME productivity (g 11.8 kton/y 12.0 kton/y
Ho from recycle 62.4% 47.8%

CO; from recycle 62.3% 48.7%

NH, 10 puE 0.78 ton/ton 0.47 ton/ton
Boiling watet mass flow (1) 17.4 kton/y 14.4 kton/y
CGE 76.0 % 87.7 %

Table 7.11 compares the two process configurations (i.e., considering reactor as well
as feeding and product separation section) based on their technical performance
indicators evaluated from the mass and energy balances. The MR-assisted process
allows for a reduction in the Hs requirement by 15.2%, which is significantly lower
than the savings anticipated based on reactor performance alone. This is due to the
H> make-up required for the sweep gas stream. In terms of product, the two plants
were designed to achieve the same productivity (i.e., 10 kton/y of fue/ grade DME).
However, the conventional process also produces 2.6 kton/y of industrial grade
methanol as sellable product. On the contrary, the methanol produced in the PBMR
is 100% recycled as sweep gas after its purification, to improve the DME selectivity
per pass. Thus, the resulting CGE of the two plants remains very similar, with only
ca. 1.77% improvement of the MR-assisted over the conventional process (ie.,
89.8% vs 91.3%). Nevertheless, the energy consumption of the MR-assisted process
is strikingly (i.e., 49%) lower than the conventional counterpart, mostly due to a 52%
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reduction of the energy requirements in the compression of the refrigeration cycle.
Similarly, given the difference in size of the recycle streams (Table 7.10), the
compression of the reactor unit effluents requires only 2.06 kW for the MR-assisted
process versus the 5.01 kW of the conventional process. The pump (P1) required
for the HP steam production shows a similar consumption for the two processes,
while the electricity produced via the steam turbine (TURB) is ca. 24.3% lower for
the MR-assisted technology, given the lower boiling water requirement for the
reaction unit. The MR-assisted plant has also a lower requirement of HP steam,
which corresponds to a natural gas usage ca. 11.3% lower than in the conventional
plant. Overall, the MR-assisted process achieves a total energy efficiency of 72.9%
versus the 69.9% of the conventional process.

When comparing the two plants in terms of the usage of the utilities per unit of
DME produced (Table 7.12), the MR-assisted process always require a lower
amount of any utility (i.e., propylene, cooling water and steam), with an overall
Zytitities Of 45.9% lower, which is mostly attributed to the lower requirement of cold
utilities.

Table 7.11. Technical performance comparison of the conventional and MR-assisted one-
step DME production process.

Conventional process  MR-assisted process

Feedstock

Ho 425.8 kg/h 360.9 kg/h
CO, 3100 kg/h 2629 kg/h
Thermal input (Wreed) 14.19 MW 12.03 MW
Chemical products

DME 1368 kg/h 1369 kg/h
Purity 99.99 wt % 99.99 wt %
Methanol 317.5 kg/h 0 kg/h
Purity 99.85 wt % 0wt %
Thermal output (Wehem) 12.74 MW 10.99 MW
Cold Gas Efficiency (CGE) 89.76 % 91.35 %
Electricity

Compressors

MCU (CO») 0.2563 MW 0.2200 MW
C5 0.7883 MW 0.2270 MW
C6 0.2416 MW 0.1047 MW
C7 5.010-10- MW 0.3724 MW
C8 0 MW 2.06-10-> MW
Pumps

P1 4.18:10° MW 4.055-10° MW
Turbines

TURB -0.2608 MW -0.1974 MW
Total electricity 0.8170 MW 0.4164 MW
Natural gas for HP steam

Natural gas 193.6 kg/h 171.7 kg/h
Natural gas energy (Wyg) 2.634 MW 2.336 MW
Total energy efficiency (1) 69.90 % 72.87 %
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Table 7.12. Efficiency of the utilities compared to the amount of DME produced for the
conventional and MR-assisted process

KPI Conventional process MR-assisted process
Zpropyl. 10.4 4.48

Zew 311.6 167.4

Zsteam 5.32 5.17

Lytilities 327.3 177.1

The analysis of the carbon footprint is also relevant to undetline the advantage of
using membrane reactor technologies. Figure 7.7a shows that the direct CO>
emissions of the two plants is very similar (i.e., 0.04 toncg, /tonpyg), in both cases
attributed to the residual (ca. 1%) of the unconverted reactant streams which is not
recycled. However, the direct emissions only contribute ca. 5-7% to the total CO»
emissions. The main contributors are the electricity and steam generation (i.e.,
indirect emissions), which for the MR-assisted plant are 48.1% and 25.3% lower
than for the conventional plant, respectively. The lower carbon footprint of the MR-

assisted plant is in line with the energy balance and with the utilities requirement
(Table 7.11 and Table 7.12).

Overall, the conventional and the MR-assisted processes emit 0.71 and 0.53
tonco, /tonpyg respectively. However, when the CO, emissions are compared to
the COz fed to the plant, these numbers become negligible, being these technologies
based on CO; utilization. As a result, since the conventional plant converts the
feedstock with a lower efficiency at the reactor scale, thus requiring more CO per
unit of DME produced, the CO; avoided is slightly higher for the conventional plant
than for the MR-assisted one (1.56 vs 1.39 toncg, /tonpyg). Therefore, considering
the size of the plants, the conventional and MR-assisted process avoid ca. 170 kton/y
and 152 kton/y of CO», respectively.

Furthermore, when the one-step DME production via CO: hydrogenation is
compared to the benchmark process (Figure 7.7b), where DME synthesis is based
on fossil fuels (i.e., syngas produced via steam reforming of natural gas), the CO:
footprint of the technologies proposed in this study is between 73 and 80% lower.
This means that the DME production technology proposed here is much more
sustainable. Indeed, the CO; emissions for the industrial DME production range
between 89-98 ¢CO2/M]pae [41]-[43]. This number accounts for the NG-to-DME
production pathway, independently on the direct or indirect route. When translated
in terms of tongg,/tonpyg, it results in an average value of 2.63. Thus, the
technology proposed here is, from one hand, a valuable CO; utilization route and,
from the other hand, a more eco-friendly pathway for the production of DME.
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Figure 7.7. CO; emissions and usage of the conventional and MR-assisted one-step DME

production process (b) CO» emissions of the conventional and MR-assisted process
compared to the emissions of the benchmark DME production from natural gas.

7.5 ECONOMIC ANALYSIS

The results of the economic analysis are summarised in Table 7.13. The purchase
equipment cost (PEC) is the same for both process configurations (i.e., 1.809 M€ vs
1.802 M€). As a matter of fact, the MR-assisted process has an extra flash drum (V2)
for the permeate stream and a larger number of heat exchangers of the HEN, which
result in in a PEC contribution increase from 3.82% to 6.53% and from 20.57% to
26.53% for the flash columns and heat exchangers, respectively. On the other hand,
the MR-assisted process displays a 45.9% lower cost for the reactor section with
respect to the conventional process, due to the removal of one reaction unit. The
distributed PEC is graphically represented in Figure 7.8a, where we can observe
that the main contribution to the PEC is given by the compressors (i.e., 36.8% and
32.1%), followed by the heat exchangers (i.e., 20.6% and 26.5%), distillation towers
(i.e., 15.1% and 15.4%) and finally the turbine (18% and 14.7%).

Considering the operating costs, the MR-assisted process has a total variable cost of
15.15 M€/y versus the 19.59 M€/y of the conventional plant, in line with the higher
efficiency in converting the feedstock and the lesser utility requirement of the MR-
assisted process. As shown in Figure 7.8b, the largest contribution to the OPEX is
given by the Ha make-up, which amounts to 57.8% and 62.91% for the conventional
and MR-assisted process, respectively. The second contributor to the OPEX is the
catalyst cost, with a 29.2% and 22.8% of the total variable cost for the conventional
and MR-assisted process. On the other hand, the cost of the utilities (mostly
determined by the cost of natural gas and electricity) has a lower impact.
Nevertheless, this cost is strongly affected by the geopolitical situation, which
introduces some uncertainties on this number (see Section 7.6.6). In the base case,
no carbon tax is considered, while a dedicated analysis on this subject is reported in
Section 7.6. Therefore, the only cost related to the waste material (i.c., water in our
case) is included in the utilities and consists of ca. 4% of the total utilities cost.

251

Chapter 7




CHAPTER 7

When comparing the OPEX with the annualized CAPEX (ACAPEX), it is clear that
the impact of the capital investment on the annual costs is negligible. As a result, the
TAC follows the same trend as the OPEX, with a value of 24.32 and 20.08 M€/y
for the conventional and MR-assisted process, respectively. As a consequence, the
minimum DME selling price (MDSP) amounts to 1960 and 1739 €/ton, respectively
(.e., ca. 11.2% reduction in MDSP in the case of the MR-assisted process). These
MDSP values align with the range identified by Michailos et al. [9] (i.e., 1828-2322
€/ton). The average MDSP they found is 2193 €/ton for a two-steps DME synthesis
process using conventional packed bed reactors and, likewise in this study, using
captured COz and H, from PEM as feed. By combining the two steps in a single
reaction unit and with the use of the membrane reactor technology, this study
demonstrates the possibility to decrease the MDSP by 1.26 times, which is a great
achievement.

Nevertheless, DME is currently sold for a price of 520 €/ton, which is more than 3
times lower than our MDSP. However, the market price refers to a chemical grade
DME, commonly sold as aerosol propellant or as a solvent, thus with a different
market value than the fuel grade DME, despite its similar purity specification. The
fuel grade DME is not on the market yet, but it is expected to be soon. Thus, it is
difficult to predict its value, although it would be reasonably higher than the current
DME market price, to be in line with the price of diesel/LPG. Another important
aspect to consider is that the DME produced via CO; hydrogenation would have a
higher value in the perspective of a decarbonization of the fuel and chemical
industry, since it derives from an alternative feedstock/waste (i.e., the captured CO»),
rather than from fossil fuels. Despite this, in the current market conditions, the
production of DME from CO; and renewable Ha with our technology would not be
profitable. Thus, it is crucial to analyze the system in more depth, to understand the
bottlenecks and to identify the conditions in which this process would become an
attractive solution at industrial level.

Table 7.13. Ovetview of the economic analysis for the for the conventional and MR-assisted
and one-step DME production process

Cost component Conventional process MR-assisted process
Initial capital investment

PEC 1.809 M€ 1.802 M€
Compressors 36.77 % 32.14 %
Distillation towers 15.06 % 15.43 %
Flash columns 3.818 % 6.528 %
Heat exchangers 20.57 % 26.63 %
Reactor unit 1.740 % 0.940 %
Turbine 17.99 % 14.69 %
Furnace and boiler 2.834 % 2.877 %
Cooling tower 1.214 % 0.753 %
CAPEX 13.73 M€ 13.68 M€
Operating costs

Total variable cost 19.59 M€/y 15.15 M€/y
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Catalyst 29.16 % 22.84 %
Membrane 0% 1.075 %
Feedstock (Hy) 57.81 % 62.91 %
Feedstock (CO») 4.717 % 5.134 %
Utilities 8.315 % 8.040 %

Fixed OPEX 3.345 Mé€/y 3.585 Mé€/y
OPEX 22.94 M€/y 18.74 M€/y
ACAPEX 1.379 M€/y 1.338 M€/y
TAC 24.32 M€/y 20.08 M€/y
MDSP 1960 €/tonDME 1739 €/tonDME
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Figure 7.8. Distributed PEC (a) and distributed OPEX (b) for the MR-assisted and
conventional one-step DME production process

7.6 FORECASTING AND SENSITIVITY ANALYSIS

The economic analysis (Section 7.5) showed that the one-step DME production via
CO; hydrogenation route is not yet competitive with the benchmark route (i.e.,
DME from steam methane reforming or SMR), given the current market conditions.
However, the market conditions are expected to change due to the environmental
concerns and the needs of decarbonizing the chemical industry. Therefore, this
section presents a detailed analysis of the possible conditions which could render
the COz-to-DME technology industrially appealing in the future.

As learned already from Section 7.5, the one-step DME production via COz
hydrogenation is an OPEX intensive process. As a matter of fact, the ACAPEX is
ca. the 5.67% and 6.66% of the TAC for the conventional and MR-assisted process,
respectively. This means that the MDSP is mainly affected by the OPEX. Figure
7.9 shows that the H» feedstock price is largest contributor to the MDSP, followed
by the cost of the catalyst, which strongly depends on its lifetime. Furthermore, the
cost of the natural gas as well as of the CO; feedstock, both show a minor and similar
impact. Finally, both the membrane lifetime and the cost of the electricity do not
affect the MDSP significantly. Based on this preliminary analysis, this section
proposes some sensitivity analyses on the main cost drivers, as well as further
process optimization strategies to reduce the operating costs.
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Finally, this section suggests different realistic scenarios which could decrease the
MDSP in the next few years at the point in which the DME production cost via CO»
hydrogenation in membrane reactors balances with the forecasted DME market
value.

2000————T 1 T
- +Feedstock (H,) —Feedstock (CO,)
1900 ¢ ‘Natural Gas —<~Electricity
L-© Membrane lifetime -+-Catalyst lifetime
Ll
= 1800
c
R e
@ 170
o )
%) L
0O 1600[
= L
15005
1400: n n n n 1 n n n n 1 n n n n 1 n n n n 1 n n n n 1 n n n n
-30 -20 -10 0 10 20 30

Percentage change from initial value (%)

Figure 7.9. Effect of the higher impact cost drivers of the OPEX on the MDSP of the MR-
assisted one-step DME production process.

7.6.1 Forecasting of H; price according to different production methods

The Ho price is extremely influenced by the production method. An overview of the
available technologies, together with their current cost and its prediction in 2050 is
given in Table 7.14. The H, production methods can be summarized as follows: 1)
H: from fossil fuels, which include the widely used steam methane reforming (SMR),
but also higher hydrocarbon cracking, reforming and gasification; 2) Hz from
electrolysis of water, either from renewable energy and using electricity from the grid
(i.e., mostly fossil fuel based). In 2010, about 96% of the Ha used in industry was
produced from fossil fuels (i.e., natural gas, coal and oil) [44]. Currently, this value is
still close to 90%, being the SMR technology the cheapest on the market. The
remaining 10% is mostly produced via water electrolysis, which still leads to
considerable indirect CO2 emissions, given the electricity requirement. Furthermore,
these technologies are 3 to 10 times more expensive than the SMR, especially
because these methods atre still under development/optimization and they are
mainly affected by the price and source of the electricity.

In our base case scenario, H> was assumed to be supplied by an integrated pipeline
network (i.e., Hy price of 2.95 €/kg, as reported by Fortes et al. [12]), with Hy being
mostly produced via steam methane reforming and coal and biomass gasification
coupled with CCS. Despite the CCS technology, these production routes are energy
intensive, thus, not environment friendly. The goal of this research is to promote a
sustainable production method of DME, as well as a route for the CO; utilization.
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As a result, the impact of any indirect CO2 emission source, such as the emission
related to the Ha production should be also considered and minimized. The only
production method which can potentially be 100% renewable is the electrolysis.
However, when the electricity from the grid is used, Ha cannot be considered as
renewable. As a matter of fact, nowadays, still 80% of the electricity in the
Nethetlands is produced using fossil fuels with a COz footprint of 330 gCO2/kWh
[45].

To remove any source of CO; emission, Ha must be produced via electrolysis based
on 100% renewable resources, which makes the Hz production much more
expensive (Table 7.14). At the moment, the alkaline electrolysis (AE) is the most
mature technology and, as a consequence, the cheapest sustainable route. Polymer
electrolyte membrane (PEM) electrolysis is approaching the cost of the AE and even
the MW-scale systems are currently market ready [46]. On the other hand, the solid
oxide electrolyser (SOE) technology is not yet ready for the industrial scales. Detz
et al. [46] predicted the H» price from different sustainable technologies in the time
span from 2015 to 2050, considering that phenomena such as learning-by-doing,
learning-by-searching, economies-of-scale, and automation can reduce the
renewable H» manufacturing costs. According to their prediction, both PEM and
SOE are the techniques that in the future (i.e., by 2050) will be able to produce Ha
at comparable prices (i.e., 1.3 €/kg) to the fossil fuel-based technologies.

Table 7.14. Current Price of H» and its prediction in 2050 according to different production
methods

Production method Type Current cost Costin 2050  Ref.
Fossil fuels (SMR) Ho 1.3 €/kg - [47]
Electrolysist H> 2.50-6.7 €/kg - [48]
Electrolysis (AE) REN- H» 5.6 €/kg 212€/kg [40]
Electrolysis (PEM) REN- H, 7.1€/kg 1.81 €/kg [46]
Electrolysis (SOEC) REN- H; 6.0 €/kg 1.03 €/kg [46]
Electrolysis (PEC) REN- H 10.8 €/kg 191 €/kg [40]

“Ha from 100% renewable resoutces is classified as REN-H, [46].
TIn some studies grid-electricity is used, sometimes in combination with renewable energy, so the Hp
production is not 100% renewable.

Therefore, the functions derived by Detz et al. describing the decrease in the H»
price within the years for both the PEM and SOE technologies were implemented
in the economic analysis of the CO,-to-DME technologies. The effect of changing
the H» price on the MDSP for both the conventional and MR-assisted process is
depicted in Figure 7.10, where it is clear that the choice of the electrolysis method
between PEM and SOE has a large impact on the MDSP and that, despite the
readiness of the technology, the SOE is much more promising in terms of
economics. Furthermore, Figure 7.10 also shows that the MDSP of the MR-assisted
technology is always much lower than the one related to the conventional process.
As a result, in the next analyses, the MR-assisted technology with the H» obtained
via SOE will be considered as a new base case scenario.
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Figure 7.10. MDSP for the conventional (dashed lines) and MR-assisted plant (solid lines)
as a function of time (years) considering different Hz production technologies: PEM (black
lines) and SOE (red lines), implementing the H» price predicted by Detz et al [46]

7.6.2 Effect of the carbon tax

As learned in Section 7.6.1, with the prediction of the H» price by SOE, the MDSP
of the MR-assisted technology can be reduced to 1376 €/ton in 2050. This price
cannot be directly compared to the DME market price, which corresponds to the
benchmark technology. As a matter of fact, the DME production cost from SMR is
expected to increase in the next years, due to the extra costs related to the emissions
and the corresponding carbon tax. Indeed, the carbon tax in the Netherlands and in
Europe (on average) is expected to increase lineatly over the years (Figure 7.11a)
[18]. With this data, the DME market price can be estimated over the years,
considering an average emission of 93 gCO,/MJpne [41]-[43] and assuming that
after 2030, the carbon tax will continue to increase linearly (i.e., linear extrapolation).
However, this analysis assumes that no carbon tax is included in the current DME
market price (year 2020) and that the price of other feedstock, like natural gas, are
not influenced by the carbon tax significantly. On the other hand, the effect of the
catbon tax on the MDSP related to the one-step DME production via COz
hydrogenation is more complex to analyze. It should be considered that this system
uses COz as a feedstock. This implies that the carbon tax can have: 1) a negative
effect, due to the COz total emissions and 2) a positive effect on the reduction of
the CO; feedstock price. The latter effect is described in Section 7.6.5. When
considering, at the same time, the reduction in the H» price from SOE and the
negative effect of the carbon tax on the MDSP of the MR-assisted technology, as
well as the effect of the carbon tax on the DME market price, a competitiveness
curve can be obtained (Figure 7.11b) showing that the novel technology based on
CO;, utilization will be competitive with the benchmark method in 2050.
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Figure 7.11. The expected carbon tax for the coming years on average in Europe (grey bars)
and in the Netherlands (orange bars) (a); MDSP of the MR-assisted plant (solid lines) as a
function of time (years) when compared with the DME market price prediction (red line).

7.6.3 Effect of the catalyst lifetime (scenario 1)

The Cu/ZnO/ALO3-HZSM-5 catalyst selected in this study has a lifetime of ca. 2
years, as reported in literature [9], [49]. Its deactivation phenomena usually arise from
copper crystallization and aluminum leaching with hot water, possible poisoning
from sulfur based compound (i.e., impurities in the feedstock) and coke formation,
which is faster and enhanced at higher temperatures (i.e., above 300 °C [50]).
However, the catalytic bed of the membrane reactor operates in an almost dry
environment, given the removal of water by means of the membranes. Furthermore,
a low temperature operation process is promoted here (i.e., an average reactor
temperature of 220 °C, with a peak at 260 °C), given the more severe thermodynamic
limitations when using pure COz as the sole carbon source and the higher efficiency
of the membrane separation in the PBMR. As a result, the catalyst deactivation could
be reasonably delayed and its lifetime can be extended from 2 to 5 years, to be
compatible with the lifetime of the membranes. Considering a catalyst lifetime of 5
years, the MDSP curve referred to the MR-assisted technology of Figure 7.11b will
shift downwards of ca. 192 €/ton (scenatio 1), becoming even more attractive than
the conventional technology and crossing the DME market price already in 2043
(i.e., 7 years catlier).

7.6.4 Optimization of the HP steam cycle and natural gas usage (scenario
2-4)

The third important cost contributor to the MDSP is the cost of natural gas (NG),
which also directly influences the CO2 emissions related to the combustion. The
natural gas requirements can be reduced by optimizing the use of the HP steam,
which is mainly required at the reboiler of columns T'1 and T3. As seen also in Table
7.13, the CAPEX has a small impact on the TAC and on the MDSP. Therefore, the
number of stages of the distillation tower T1 could be increased to reduce the reflux
ratio and, as a result, the reboiler duty. An increase in the number of stages from 18
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to 22 corresponds to a decrease in the reflux ratio from 5 to 4 (beyond 22 stages,
the reflux ratio changes are not significant). This condition corresponds to a
reduction of 15.5% and 12% in the HP steam flow and natural gas requirement,
respectively, as well as to a CAPEX increase of 0.06%, which has a negligible effect
on the MDSP. On the other hand, no beneficial effects were found in increasing the
height of the column T3.

Based on the optimized usage of the HP steam, multiple scenarios can be built on
top of scenario 1 (i.e., considering a catalyst lifetime of 5 years):

» Scenario 2: Natural gas is used for the production of the HP steam in the
optimized conditions (i.c., 12% NG usage less than the base case);

» Scenario 3: The purge stream of the unconverted gases, which still contains
a heating value of ca. 1175 MJ /h due to the presence of Hz (70 mol.%) and
traces of CO, methanol and DME, can be fed to the burner, in combination
with a reduced flow of natural gas. This solution further reduces the NG
usage of 20%;

» Scenario 4: The natural gas required in scenario 3 is completely replaced
with green Ho. As a result, the purge stream is fed to the burner together
with Hp. This solution also minimizes the CO2 emissions.

An overview of the NG requirement and the alternative fuels used for the
production of the HP steam in the base case and three scenarios is given in Table
7.15, together with the impact on the direct CO, emissions. The impact of the three
scenarios on the competitiveness curve is depicted in Figure 7.12. The MDSP curve
related to scenarios 2 and 3 decrease over the years with the same trend of the base
case (i.e., curve of Figure 7.11b). However, these curves are only slightly shifted
downwards due to the lower NG consumption, since in general the impact of the
NG cost on the total OPEX is not that significant (see Figure 7.9). On the other
hand, the curve representing scenario 4 decreases with a quite different slope, due
to the implementation of the Hz decreasing function, together with the reduction of
the NG usage and the COz emissions. For the same reason, scenario 4 has initially a
higher MDSP than the other scenario, because of the higher cost of Hz used for the
combustion. Nevertheless, with the decrease in the Ha price over the years and with
the increase in the carbon tax, the MDSP decreases faster than the other cases from
the year 2025, anticipating the moment from which our technology will be
competitive with the benchmark of ca. 3 years (i.e., 2040 instead of 2043).
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Table 7.15. Overview of NG requirement and the alternative fuels used for the production
of the HP steam in the base case and the three scenatios, together with the corresponding
direct CO2 emissions.

Base case  Scenario 2 Scenario3 Scenario 4

Natural gas/DME (ton/ton) 0.13 0.11 0.09 0
Purge streams/DME (ton/ton) 0 0 0.05 0.05
REN-H2/DME (ton/ton) 0 0 0 0.03
CO; emissions/DME (ton/ton) 0.39 0.35 0.31 0.05
2000 T T T
——DME market price
—Scenario 1
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Figure 7.12. MDSP of the MR-assisted plant (black lines) as a function of time (years) when
compared with the DME market price prediction (red line), using REN-H> from SOE, a
catalyst lifetime of 5 years in the three scenario for the HP steam production.

7.6.5 Effect of the CO; feedstock price: carbon capture vs carbon tax
(scenario 5-7)

Although the CO; feedstock price does not play a significant role on the MDSP,
similarly to the natural gas, this variable needs a dedicated section. As a matter of
fact, the technology proposed here uses COz as the sole carbon source for the
synthesis of DME. Therefore, it is easy to imagine a future scenario in which, heavy
CO2 emitting companies would be keen to buy this CO> utilization technology to
make profit from a waste rather than paying a tax. In the base case, a CO, feedstock
price of 33 €/ton was assumed (i.e., COz from SEWGS). Nevertheless, the CO;
price is expected to change over the years due to the development of the CO»
capture technologies and to the environmental concerns and the corresponding
carbon tax policy. From the moment in which the carbon tax will be higher than the
carbon capture price (CCP), companies will start to capture their CO2 and either sell
it or use it directly. This moment can be defined as t1, which allows to identify two
different time regions: 1) Before ti, the price of the CO» feedstock for the CO»-to-
DME technology corresponds ca. to the CCP, since CO; needs to be purchased
from industries/companies which decide to capture CO» and sell it with a certain
profit. Indeed, industries will not capture their COz for “free”, since paying a carbon
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tax would be cheaper; 2) After ti, the situation is more complex and three scenario
can be identified:

» Scenario 5: after t; the CO» feedstock price will be zero;

» Scenario 6: after t; the COz feedstock price will correspond to the difference
between the carbon tax and the CCP. As a result, the CO» feedstock will be
seen as a revenue instead of a cost. Indeed, companies would prefer to
capture the COp, rather than paying a tax, and would pay the difference for
the CO, utilization process, which could be seen as a waste treatment
technology.

» Scenario 7: it is similar to scenario 6, but with a slightly different revenue.
The company which decides to capture the CO; instead of paying the
carbon tax, would prefer to pay for the CO, utilization technology less than
the difference between the carbon tax and the CCP. This scenario is much
more realistic, since it is easy to imagine that if the CO, waste treatment and
the carbon tax come with the same price, one would still prefer to pay a tax
and avoid further capital investments in CO; capture technologies. In this
scenario it is assumed that the CO; emitting companies would pay 14.1%
less than the difference between carbon tax and CCP. This % corresponds
to the average gross profit margin of primary metal industry [51].

These scenatios can be built on top of scenario 4, described in the previous section,
where the usage of the HP steam and of the fuels to produce it are optimized.

Within these scenarios, the case in which, after ti, the CO; emitting companies would
decide only to sell it with a profit margin is not considered, since this will correspond
exactly to scenario 4, with the CO» feedstock price of the base case. Nevertheless,
in the perspective of a CO; utilization technology, it is easy to see the COz feedstock
as a revenue, since when the CCP is lower than the carbon tax, it is worth for the
companies to capture the CO2. When more and more companies will capture their
COz, the market will be saturated and if they cannot sell it, they would still need to
emit it and pay the carbon tax on top of the CCP. As a result, these companies would
be willing to pay a difference between carbon tax and CCP to the CO; consumers.

The competitiveness curve related to the new scenario (5, 6 and 7), together with
the one of scenario 4 (see section 7.6.4), are depicted in Figure 7.13. Scenarios 5, 6
and 7 were all built on top of scenario 4, which was the best scenario found in view
of the optimization of the HP steam generation and usage. Starting from 2022 the
curves related to the new scenario show a discontinuity, due to a drop in the price
of the of CO; feedstock. As a result, the year 2022 corresponds to ti, where the
carbon tax has achieved the CCP (i.e., 33 €/ton for the SEWGS). From this point
on, it is clear that scenario 6 is more convenient, followed by scenario 7 and scenario
5. In case of scenario 6 and of the more realistic scenario 7, the MR-assisted process
could become competitive with the benchmark already in 2032 and 2033,
respectively. In case of scenario 5, instead, the COz-to-DME process would be
competitive in 2038.
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Figure 7.13. MDSP of the MR-assisted plant (black lines) as a function of time (years) when
compared with the DME market price prediction (red line), using REN-H; from SOE, a
catalyst life time of 5 years, H, and purge streams for the HP steam production in the three
scenario identified for the CO; feedstock price. The blue dashed vertical line represents the
time tj.

7.6.6 Overview and uncertainty analysis

Table 7.16 gives an overview of the scenario built in section 7.6.4 and 7.6.5, in terms
of the MDSP, year and carbon tax corresponding to the intersection point between
the MDSP curve and the DME benchmark market price (i.e., moment in which the
one-step DME synthesis via CO hydrogenation using membrane reactors will
become competitive with the benchmark DME synthesis). According to this
analysis, the COz-to-DME MR-assisted technology could become profitable, and
thus industrially applicable, between 2032 and 2040. As a matter of fact, scenario 1
considers a longer catalyst lifetime, which is realistic thanks to the advantages of the
membrane reactor technology, as discussed in Section 7.6.3. Furthermore, scenatio
2 to 4 depends on an optimization of the fuel used for producing HP steam.
Therefore, it is reasonable to consider scenarios on top of scenario 4. Nevertheless,
the results reported in Table 7.16 also show that the moment in which the CO»-to-
DME MR-assisted technology will become competitive with the benchmark not
only depends on the different scenarios, but also on the value of the carbon tax.
Currently, the carbon tax policy has not been accepted all over the world and its
value depends on national regulations. As an example, when focusing on the
European countries who have already imposed a carbon tax, its value currently
ranges from 116.33 €/toncg, for Sweden, to a value of 0.07 €/tongg, for Poland
[52]. Considering the catbon tax cortesponding at year 2020 as a variable and
assuming a linear increase with time as in Figure 7.11a, the point of intersection of
the MDSP of scenario 6 (i.e., the more realistic) shifts. As a result, the year of
competitiveness and the corresponding carbon tax value correlates as depicted in
Figure 7.14, from which it is possible to observe that the carbon tax has to be at
least 118 €/toncg, to have a MDSP equal to the DME market price by 2050.
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Table 7.16. Overview of the different scenario in terms of MDSP, year and carbon tax
corresponding to the intersection point between the MDSP curve and the DME benchmark
market price.

Base

Intersection point 1 2 3 4 5 6 7

case

MDSP (€/tonpyg) 1376 1179 1179 1159 1083 1038 885 900

Year

2050 2043 2043 2042 2040 2038 2032 2033

Carbon tax (€/toncg,) 260 260 260 250 230 211 154 161

300
"ON 2501 Scenario 6 in the
S 200 Netherlands:
L2 161 €/tonCO in 2033
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c |
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Figure 7.14. Carbon tax corresponding at the year in which our technology will be
competitive with the benchmark according to scenario 6, depending on the initial policy on
the carbon tax (i.e., at 2020).

The results showed in this section are based on several hypotheses. Although all the
variables are based on previous studies and information retrieved from literature,
there are some uncertainties which will surely affect the moment in which the
technology would become competitive with the DME market value. A list of some
of the unknown variables or data which have not been included or have been
assumed in this research and that are believed to reduce the accuracy of this
prediction is given here:

>

>
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The salary change over the years was not taken into account. The salary
could increase due to the inflation and increase in the welfare, as example.
As a result, it is very difficult to predict its future trend.

Currently, only the price of the DME chemical grade is known. However,
the technology proposed in this study produces a fuel grade DME, which
is expected to have a higher market value.

In case the Ha production would be integrated in the DME synthesis, the
heat generated in the hydrogen production step could be used to replace
HP steam completely. As a matter of fact, the SOE process operates at
temperature of 500-850 °C and the heat corresponding to the H» stream
could be used for the reboilers in the distillation towers. Furthermore, the
maximum working pressure of the SOE and PEM can vary in a wide range
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(35-200 bar) [53], [54]. This indicates that the cost of compression could be
further reduced. However, the electricity cost, as well as the CAPEX, did
not show a large impact on the MDSP.

» This analysis does not take into account the possible subsidies related to the
use of renewable feedstock/energy. This could reduce our cost significantly
and make our system more competitive with the benchmark.

» The carbon tax in the Netherlands (30 €/tong,) is above the European
average (24 €/tongg,), which makes it harder for this technology to be
competitive in the rest of Europe, on average.

» The cartbon capture price is also expected to be dependent on the
technology adopted and on the composition of the waste stream from
which the COz needs to be purified. A more expensive technology would
delay the moment from which CO; could become a cost zero feedstock or
even a revenue (t1). However, as for the Ha, also the CCP is expected to
decrease with time, due to the development of the existing or even more
efficient technologies. As an example, the use of membrane separation
technologies can reduce the cost of solvent based technologies of ca. 28%
[55].

» Changes in the price of natural gas over the years have not been considered
in this study. However, the scenarios 4-7 are not affected by this cost, given
that the natural gas has been completely replaced with renewable Ho.

7.7 CONCLUSIONS

This work demonstrates that CO, can be upgraded from a polluting agent into a
valuable feedstock at industrial scale. The use of a membrane reactors in the direct
COz2 hydrogenation to DME shifts the single pass conversion from 39% to 55%,
together with a shift in the DME yield from 32% to 53%. The higher efficiency in
the conversion of the PBMR allows for a remarkable decrease in both the catalyst
mass and in the H» feedstock flow to produce 1 ton of DME of ca. 39% and 64%,
respectively. Overall, the PBMR displays a cold gas efficiency (CGE) of 88% with
respect to the 76% of the PBR. On a process perspective, the MR-assisted plant
requires less energy input to produce the same amount of DME.

On the economic aspect, both processes revealed to be OPEX intensive, with the
operating costs of the MR-assisted process significantly lower (ca. 23%), due to the
lower requirement of Ha, which covers more than 60% of the OPEX.

The minimum DME selling price (MDSP) was found to be 1739 €/ton and 1960
€/ton for the MR-assisted and the conventional process, respectively, in the base
case scenario, where no carbon tax is taken into account and the CO; feedstock is
considered as a cost. This result proves that the combination of the two steps in a
single reactor, together with the use of the membrane reactor technology, allows for
a reduction in the MDSP of 1.26 times with respect to what has been reported in
literature.
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Nevertheless, the MDSP of the MR-assisted technology is still 3.3 times higher than
the current DME market value. As a result, a feasibility study to predict the moment
in which this technology would become competitive with the benchmark was carried
out. This analysis showed that when considering the reduction in the H» price
produced using SOE technology, together with an increase in the catalyst lifetime
from 2 to 5 years and an optimization of the HP steam and natural gas usage, the
COz-to-DME MR-assisted system can be competitive with the benchmark in 2040,
if the carbon tax would increase linearly. In addition, if the CO; feedstock is
considered as a revenue rather than a cost, this process could be profitable ca. 7
years earlier. The result of the competitiveness analysis strongly depends on the
carbon tax policy, which varies from country to country. In conclusion, given the
uncertainties related to this prediction, it is more cotrect to identify a region, more
than an exact moment, which goes from 2025 to 2050 where the CO direct
hydrogenation to DME in membrane reactors will be economically competitive with
the benchmark process.
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Appendix F

F.1 Stream tables

Table F1. Stream table of the conventional one-step DME production process via CO:

hydrogenation

0 1 2 3 4 5 6 7
Temperature (°C) 200.3 201.1 124.1 59 30 20 -33.3 -33.3
Pressure (bar) 39.75 40 40 40 40 40 40 40
Vapor Fraction 1 1 0.88 0.82 0.803 0.791 0.672 0
Mass flow (kg/h) 9498.9 94989 94989 94989 94989 94989 94989 62129
Mass fraction
CO2 0.546  0.546 0546 0546  0.546  0.546  0.546  0.441
CcO 0.007 ~ 0.007  0.007  0.007  0.007  0.007  0.007  0.001
DME 0.151 0.151 0.151 0.151 0.151 0.151 0.151 0.22
H» 0.075 0.075 0.075 0.075 0.075 0.075 0.075 0
MeOH 0.033 0.033 0.033 0.033 0.033 0.033 0.033 0.051
Water 0.188  0.188  0.188  0.188  0.188  0.188  0.188  0.287
O2 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

8 9 10 11 12 13 14 15
Temperature (°C) -33.3 90 64.7 2354 45 4.8 110.6  44.4
Pressute (bar) 40 40 40 40.1 40 40 40.07 10
Vapor Fraction 1 0.366 1 0 0.653 1 0 0.729
Mass flow (kg/h) 3286 62129 4113.6  2099.3 4113.6 27459 1367.7 1367.7
Mass fraction
CO, 0.743 0441  0.667 0 0.667 0998  0.001  0.001 =~
CcO 0.018 0.001 0.001 0 0.001 0.001 0 0 )
DME 0.022 0.22 0.332 0 0.332 0 0.999 0.999 §~
H» 0.217 0 0 0 0 0.001 0 0 5
MeOH 0 0.051 0 0151 0 0 0 0
Water 0 0287 0 0849 0 0 0 0
Oz 0 0 0 0 0 0 0 0
N> 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

16 17 18 19 20 21 22 23
Temperature (°C) 30 2208 185 43.5 43.5 2342 274 -27.4
Pressure (bar) 10 30 30 30 1 30.14 40 40
Vapor Fraction 0 0.077 1 0 0 0 1 1
Mass flow (kg/h) 1367.7 2099.3 3175 3175 3175 17819 0.3 5971.6
Mass fraction
CO2 0.001 0 0 0 0 0 0.859 0.859
CcO 0 0 0 0 0 0 0.01 0.01
DME 0.999 0 0.001  0.001  0.001 0 0.012  0.012
H» 0 0 0 0 0 0 0.118  0.118
MeOH 0 0151 0999 0999 0999 0 0 0
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Water 0 0.849  0.001  0.001  0.001 1 0 0
Oz 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
25 26 27 28 29 30 31 32
Temperature (°C) 6.3 195 200 15 91.1 38 117.6 38
Pressure (bar) 40 40 40 1 2.43 2.43 5.9 5.9
Vapor Fraction 1 1 1 1 1 1 1 1

Mass flow (kg/h) 9497.6  9497.6 9497.6 3100.3 3100.3 3100.3 3100.3 3100.3
Mass fraction

CO, 0.867 0.867 0.867 1 1 1 1 1
CO 0.006 0.006 0.006 0 0 0 0 0
DME 0.008  0.008  0.008 0 0 0 0 0
H, 0.119  0.119 0119 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 0 0 0 0 0 0 0 0
O, 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
33 34 35 36 37 38 39 40
Temperature (°C) 118.1 38 130.4 15 29.2 61.4 15 24.4
Pressure (bar) 14.4 14.4 40 35 40 40 1.01 1.01
Vapor Fraction 1 1 1 1 1 1 0 0

Mass flow (kg/h) 3100.3  3100.3 3100.3 425.8 425.8 3526.1  9908.4  9908.4
Mass fraction

CO; 1 1 1 0 0 0.879 0 0
CO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H, 0 0 0 1 1 0.121 0 0
MeOH 0 0 0 0 0 0 0 0
Water 0 0 0 0 0 0 1 1
O, 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
41 42 43 44 45 46 47 48
Temperature (°C) 35 25 25 25 37.8 39.1 45.8 69.9
Pressure (bar) 1.01 1.01 1.01 1 1.01 1.01 1.01 1.01
Vapor Fraction 0 0 0 0 0 0 0 0
Mass flow (kg/h) 9908.4 11710 16214 23420 ;1709 16214 16214 16214
Mass fraction
CO; 0 0 0 0 0 0 0 0
CO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H, 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
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Water 1 1 1 1 1 1 1 1
Oy 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

49 50 51 52 53 54 55 56
Temperature (°C) 100 100 100 100 26.5 28.8 311 33.5
Pressure (bar) 1.01 1.01 1.01 1.01 1 1 1 1
Vapor Fraction 0.002 0.002 0.002 0 0 0 0 0
Mass flow (kg/ h) 16214 13367 2846.4  2846.4 23420 23420 23420 23420
Mass fraction
CO, 0 0 0 0 0 0 0 0
CcO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H;, 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 1 1 1 1 1 1 1 1
Oy 0 0 0 0 0 0 0 0
N, 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

57 58 59 60 61 62 63 64
Temperature (°C) 38 38.1 100.4 25 25 250.4 303.8 124.8
Pressure (bar) 1 1 40 1.01 1.01 40 1.01 1.01
Vapor Fraction 0 0 0 1 1 1 1 1
Mass flow (kg/ h) 23420 23420  2846.4 193.6 4650 2846.4 4843.6  4843.6
Mass fraction
CO, 0 0 0 0.008 0 0 0.109 0.109
CO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 1 1 1 0 0 1 0.087 0.087
O, 0 0 0 0 0.222 0 0.057 0.057
N3 0 0 0 0.008 0.778 0 0.747 0.747
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0.904 0 0 0 0
Ethane 0 0 0 0.075 0 0 0 0
Propane 0 0 0 0.005 0 0 0 0

65 66 67 68 69 70 71 72
Temperature (°C) 250.4 245 238.6 196 196 196 81.3 125.5
Pressure (bar) 40 40 40 14.3 14.3 14.3 0.5 15
Vapor Fraction 0.53 0 0 0.13 0 1 0.898 1
Mass flow (kg/h) 2846.4 2846.4 2846.4 21424 21424 21424 21424 13045
Mass fraction
CO, 0 0 0 0 0 0 0 0
CO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 1 1 1 1 1 1 1 0
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Oz 0 0 0 0 0 0 0 0

N2 0 0 0 0 0 0 0 0

Propylene 0 0 0 0 0 0 0 1

Methane 0 0 0 0 0 0 0 0

Ethane 0 0 0 0 0 0 0 0

Propane 0 0 0 0 0 0 0 0
73 74 75 76 77 78

Temperature (°C) 35 -48 -48 -3.2 43 43

Pressure (bar) 15 1 1 1 1 1

Vapor Fraction 0 0.552  0.991 1 0 0

Mass flow (kg/h) 13045 13045 13045 13045 ;5282 10968

Mass fraction

CO, 0 0 0 0 0 0

CO 0 0 0 0 0 0

DME 0 0 0 0 0 0

H> 0 0 0 0 0 0

MeOH 0 0 0 0 0 0

Water 0 0 0 0 1 1

Oz 0 0 0 0 0 0

N2 0 0 0 0 0 0

Propylene 1 1 1 1 0 0

Methane 0 0 0 0 0 0

Ethane 0 0 0 0 0 0

Propane 0 0 0 0 0 0

Table F2. Stream table of the MR-assisted one-step DME production process via CO3
hydrogenation

0 1 2 3 4 5 6 7
Temperature (°C) 198.8 199.5 77.5 20 -26 -26 -26 -10.7
Pressure (bat) 39.75 40 40 40 40 40 40 40
Vapor Fraction 1 1 0.887 0.778 0.647 1 0 0.001

Mass flow (kg/h) 4560.8 4560.8 4560.8 4560.8 4560.8 1286.6 32742  3274.2
Mass fraction

CO2 0.479 0.479 0.479 0.479 0.479 0.694 0.395 0.395
CcO 0.009  0.009  0.009  0.009 0.009 0.029 0.001  0.001
DME 0.312 0312 0312 0312 0312  0.055 0413 0413
Hz 0.063  0.063  0.063  0.063 0063 0222 0 0
MeOH 0.035 0.035 0.035 0.035 0.035 0 0.049 0.049
Water 0.102 0.102 0.102 0.102 0.102 0 0.142 0.142
O2 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

8 9 10 11 12 13 14 15
Temperature (°C) 5.6 19.5 20 70 80.1 2204 40 9.4
Pressure (bar) 40 40 40 40 40 40.12 40 40
Vapor Fraction 0.002 0.003 0.003 0.225 1 0 0.195 1

Mass flow (kg/h) 3274.2 32742 32742 32742 2642.6 631.6 2642.6  1305.5
Mass fraction
CO; 0.395 0.395 0.395 0.395 0.489 0 0.489 0.99
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CO 0.001 0.001 0.001 0.001 0.001 0 0.001 0.002
DME 0.413 0.413 0.413 0.413 0.51 0.009 0.51 0.008
H» 0 0 0 0 0 0 0 0.001
MeOH 0.049 0.049 0.049 0.049 0 0.253 0 0
Water 0.142 0.142 0.142 0.142 0 0.738 0 0
O3 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

16 17 18 19 20 21 22 23
Temperature (°C) 111 44.4 30 -19.6 -19.6 198.8 130.5 120.3
Pressute (bar) 40.08 10 10 40 40 35 35 35
Vapor Fraction 0 0.734 0 1 1 1 0.956 0.931
Mass flow (kg/h) 13371 1337.1  1337.1 259 2566.2  8044.6  8044.6  8044.6
Mass fraction
CO» 0 0 0 0.843 0.843 0.659 0.659 0.659
CcO 0 0 0 0.015 0.015 0.012 0.012 0.012
DME 1 1 1 0.032 0.032 0.002 0.002 0.002
H» 0 0 0 0.11 0.11 0.093 0.093 0.093
MeOH 0 0 0 0 0 0.094 0.094 0.094
Water 0 0 0 0 0 0.14 0.14 0.14
O, 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

24 25 26 27 28 29 30 31
Temperature (°C) 36 36 36 36 36 125 128.5 2171
Pressure (bar) 35 35 35 35 35 35 35 35
Vapor Fraction 0.848 1 0 1 1 0.01 0.011 0.02
Mass flow (kg/h) 8044.6 60455 1999.1 42255 1820 1999.1  1999.1  631.6
Mass fraction
CO» 0.659 0.849 0.084 0.849 0.849 0.084 0.084 0
cO 0.012 0.016 0 0.016 0.016 0 0 0
DME 0.002 0.003 0.001 0.003 0.003 0.001 0.001 0.009
H» 0.093 0.123 0 0.123 0.123 0 0 0
MeOH 0.094 0.007 0.358 0.007 0.007 0.358 0.358 0.253
Water 0.14 0.002 0.556 0.002 0.002 0.556 0.556 0.738
O 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

32 33 34 35 36 37 38 39
Temperature (°C) 200 2031 220 1858 2414 1357 387 814
Pressure (bar) 35 35 35 35 35.14 35.14 35.14 35
Vapor Fraction 0137 0112 0468 1 0 0 0 0.974
Mass flow (kg/h) 1999.1  2630.7 2630.7 1038.1 1592.6 1592.6 1592.6 52.6
Mass fraction
CO» 0.084 0.064 0.064 0.162 0 0 0 0.714
CcO 0 0 0 0.001 0 0 0 0.013
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DME 0.001 0.003 0.003 0.008 0 0 0 0.004
H» 0 0 0 0 0 0 0 0.099
MeOH 0.358 0.332 0.332 0.828 0.01 0.01 0.01 0.169
Water 0.556 0.6 0.6 0.001 0.99 0.99 0.99 0.002
O» 0 0 0 0 0 0 0 0

N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0

40 41 42 43 44 45 46 47

Temperature (°C) 73.4 193 200 22.5 180 200 15 64.4
Pressure (bat) 35 35 35 40 40 40 1 1
Vapor Fraction 0.979 1 1 1 1 1 0 0

Mass flow (kg/h) 6701.6  6701.6 6701.6 5885.1 5885.1 5885.1 5404.6 5404.6
Mass fraction

CO, 0751 0.751 0751  0.854 0854 0854 0 0
CO 0.01 0.01 0.01 0.012 0.012 0.012 0 0
DME 0.003 0.003 0.003 0.015 0.015 0.015 0 0
Hz 0.103  0.103 0103  0.118  0.118 0.118 0 0
MeOH 0.131  0.131 0131  0.002  0.002  0.002 0 0
Water 0.001  0.001  0.001  0.001  0.001  0.001 1 1
Oz 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
48 49 50 51 52 53 54 55

Temperature (°C) 65.5 64.4 168 250.4 25 25 273.2 251.7
Pressure (bat) 40 1 40 40 1.01 1.01 1.01 1.01
Vapor Fraction 0 0 0 1 1 1 1 1

Mass flow (kg/h) 2567.2 2837.4 2567.2 2549.2 171.7 4121.4  4810.6  4810.6
Mass fraction

CO2 0 0 0 0 0.008 0 0.111 0.111
CO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0

Hz 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 1 1 1 1 0 0 0.093 0.093
O2 0 0 0 0 0 0.222 0.057 0.057
N2 0 0 0 0 0.008  0.778  0.739  0.739
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0904 0 0 0
Ethane 0 0 0 0 0.075 0 0 0
Propane 0 0 0 0 0.005 0 0 0

56 57 58 59 60 61 62 63

Temperature (°C) 250.4 250.4 230 210.9 178 178 178 178
Pressure (bat) 40 40 40 40 9.55 9.55 9.55 9.55
Vapor Fraction 0.507  0.186 0 0 0.094  0.609  0.471 0.229

Mass flow (kg/h) 2549.2  2549.2 2549.2 2549.2 2549.2 2549.2 2549.2 1780
Mass fraction

CO2 0 0 0 0 0 0 0 0
CcO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
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H» 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 1 1 1 1 1 1 1 1
Oz 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
64 065 66 67 68 69 70 71
Temperature (°C) 178 25 25 31 80.1 87.8 99.6 34.9
Pressure (bar) 9.55 1 1 1 1 1 1 1
Vapor Fraction 0 0 0 0 0 0 0.007 0

Mass flow (kg/h) 1780 17295 64855 17295 17295 17295 17295 64855
Mass fraction

CO» 0 0 0 0 0 0 0 0
CcO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H» 0 0 0 0 0 0 0 0
MeOH 0 0 0 0 0 0 0 0
Water 1 1 1 1 1 1 1 1
O, 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
72 73 74 75 76 77 78 79
Temperature (°C) 37.3 52 52 178 81.3 15 91.1 25
Pressute (bar) 1 1 1 9.55 0.5 1 2.43 2.43
Vapor Fraction 0 0 0 1 0.905 1 1 1

Mass flow (kg/h) 64855 83167  1820.2 1780 1780 2628.6  2628.6  2628.6
Mass fraction
CO,

cO

DME

H>

MeOH
Water

Oz

N2

Propylene
Methane
Ethane
Propane
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Temperature °C) 102.6 103.1 25 102.7 100 100 100
Pressute (bar) 5.9 5.9 14.4 14.4 35 35 35 35
Vapor Fraction 1 1 1 1 1 1 1 1
Mass flow (kg/h) 2628.6  2628.6 2628.6 2628.6 2628.6 2628.6 13143 1314.3
Mass fraction

N
w

COz 1 1 1 1 1 1 1 1
CcO 0 0 0 0 0 0 0 0
DME 0 0 0 0 0 0 0 0
H» 0 0 0 0 0 0 0 0
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MeOH 0 0 0 0 0 0 0 0
Water 0 0 0 0 0 0 0 0
O2 0 0 0 0 0 0 0 0
N2 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 0 0
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
88 89 90 91 92 93 94 95
Temperature (°C) 49.1 63 15 15 15 29.2 133.8  130.6
Pressure (bar) 35 40 35 35 35 40 15 15
Vapor Fraction 1 1 1 1 1 1 1 1

Mass flow (kg/h) 31343 31343  360.9 184.5 176.4 184.5 5470.5  5470.5
Mass fraction

CO2 0912 0912 0 0 0 0 0 0
CO 0.009  0.009 0 0 0 0 0 0
DME 0.002  0.002 0 0 0 0 0 0
Ho 0.071 0.071 1 1 1 1 0 0
MeOH 0.004 0.004 0 0 0 0 0 0
Water 0.001  0.001 0 0 0 0 0 0
Oz 0 0 0 0 0 0 0 0
Nz 0 0 0 0 0 0 0 0
Propylene 0 0 0 0 0 0 1 1
Methane 0 0 0 0 0 0 0 0
Ethane 0 0 0 0 0 0 0 0
Propane 0 0 0 0 0 0 0 0
96 97 98 99
Temperature (°C) 35 -48 -42.4 43
Pressure (bar) 15 1 1 1
Vapor Fraction 0 0.552 1 1

Mass flow (kg/h) 5470.5 5470.5 5470.5 5470.5
Mass fraction

CO, 0 0 0 0
CO 0 0 0 0
DME 0 0 0 0
H> 0 0 0 0
MeOH 0 0 0 0
Water 0 0 0 0
Oz 0 0 0 0
N2 0 0 0 0
Propylene 1 1 1 1
Methane 0 0 0 0
Ethane 0 0 0 0
Propane 0 0 0 0

F.2 Reactor model

The reactor model relies on the same hypothesis reported in Chapter 2.

The methanol synthesis is assumed to follow the kinetic of Portha et al. [56], while
the methanol dehydration to DME over a HZSM-5 catalyst, follows the kinetic of
Ortega et al. [57]. The kinetic model is described in Chapter 6, together with its
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experimental validation. The CMO8 (Chapter 3) membrane properties were
implemented in the PBMR, as described in Chapter 6.

The model equations are also reported here for both the PBR and PBMR, for
completion.

PBR model

Mole balances were solved for each component according to the following equation:

Np,catl

dF; =
d_Zl = Z (Drz'i)Dcat(1 - 8) Z (rj,catlvji,catl) Xvol,cat1Pcat1
=1 (F.1)

Np,cat2

+ Z (rj,catZVji,catZ)Xvol,catzpcatz
j=1

Where F; is the mole flow rate of componenti, Dy is the reactor inner diameter, D,
is the catalyst dilution factor based on volume, € is the bed porosity (assumed 0.4
m3iq/Mieactor)s Ij is the reaction rate of reaction j, vj; is the stoichiometric number
of component i in reaction j, peae is the catalyst density and Xy, is the volumetric
fraction of each catalyst. The subscript catl and cat2 stand for the Cu/ZnO/AlLO3
(CuZA) and HZSM-5 catalyst, respectively.

The energy balance is described as follows:

Ns
dT =
Z(Ficpi) w7 (D) Deat
=t Np,catl

(1-9) Z (_AHj,catl)(rj,catlvji,catl)Xvol,catl Pcat1 (FZ)

j=1

Chapter 7

Np,cat2
+ Z (_AHj,catZ)(rj,catZVji,catZ) Xvol,cat2Pcat2
j=1
—U(T — T,)TDy

Where AH;j is the heat of reaction determined at the temperature T, T, is the
temperature of the boiling water flowing in the external jacket and U is the global
heat transfer coefficient, calculated as reported in Appendix E.

The pressure drops are determined via the Ergun equation, as follows:

dP  150pmix(1 — €)*v L 17501 — £)pmix v2 (F.3)
dz ~ z»:3d]2J e3d,
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A macroscopic heat balance for the boiling water is solved to determine the mass
flow of water required (1,,) in order to exchange only latent heat (i.e., the heat of
vaporization) and to produce steam (Eq. F.4-F.5).
d
82 = 1D U(T — Ty,

_Q@z=1) (F.5)

AHvap,mass

(F.4)

w

Where Q is the heat exchanged, Dy, the reactor outer diameter and AHyap mass the
heat of vaporization of water at the temperature Ty, defined per unit of mass.

The catalyst mass in the reactor was optimized using the gas hourly space velocity

(GHSV) defined as follows:

GHSV = h (F6)
Vcb

With Fy, the total molar flow rate in the packed bed side and Vi, the volume of the
reactor available for the catalytic bed (i.e., inner reactor volume).

As common practice in the design of heat exchangers, the diameter of the reactor
jacket is sized according to a maximum pressure drop of the boiling water flowing.
The pressure drop in the shell side is determined according to the following
equations [58]:

1 v )2 (F.7)

APghen = - pw (—pw Ashell)

f = exp(0.576 — 0.19 In(Re,,)) F.8)
— PwVwDsi (F9)

Re
v Hw

Where with the subscript w we indicate the physical properties of the boiling water.
As a result, the shell or jacket diameter was determined via a trial and error
procedure, assuming a maximum pressure drop of 0.5 bar, which is typical for heat
exchangers.

PBMR model

Mole balances were solved for each component in the reaction (R) and permeation
(P) zone according to Eq. F.10 and F.11, respectively.
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dFR n
= = 7 (O = NmDfio)Dear - (1 = ©)
Np,catl
Z ( jcatl ]1,cat1) vol,cat1Pcat1 (FlO)
j=1
Np,cat2
+ Z (rj,catZVji,catZ) Xyol,cat2Pcat2 | — ]iNmT[Dmo
=1
dFP (F.11)
E = JiNmTDmo

With N, the number of membranes and Dy, the membrane outer diameter. The
permeation flux of each species (J;) is defined as in Chapter 2 and 6, using the
permeation properties of the membrane CMO8, fitted with the Arrhenius equation,
as in Chapter 6.

Given that the flow of the sweep gas is the same as the feed flow to the reaction
zone and that the heat transfer between the membrane module and the reaction side
is fast, an overall energy balance between the membrane and the reactor can be
solved (Eq. F.12), assuming that the two zones are at the same temperature (i.e.,
TR = TP),
S dTR

D (Fepl + Ffepf) -
i=1 -

= Z(Dgi)Dcat (1-9)-

Np,catl
’ Z (_AHj,catl)(rj,catlvji,catl) Xvol,cat1Pcat1 (FJZ)

j=1
Np,cat2

+ Z (_AHj,catZ)(rj,catZVji,catZ) Xyol,catzPcat2
=1
— U(TR — T, )mDy4

The global heat transfer coefficient is determined as in the PBR model, considering
the cross section of the reactor being modified by the introduction of the
membranes.

The pressure drops are determined only for the reaction side (Ergun equation) and
are considered negligible for the permeation side. The design of the external jacked
is carried out in the same way of the PBR.

F.3 Methods for the evaluation of the purchase equipment cost

In this section the correlations and factors used for the calculation of the PEC are
summarized.
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Reactor units

The reactor vessel and cooling jacket is assumed to be a shell-and-tube heat
exchanger. The reactor PEC is calculated as follows [31]:

Cp = FPFMFLCB (Fl3)
Y . (F.14)
Fu=1+ (100)
2
Fp = 0.9803 + 0.018 (Tzo) +0.0017 (%) (E.15)
(F.16)

Cg = exp (11.0545 — 0.92281In(A) + 0.09861 (In (A))?)
Where A is the mass transfer area in ft? and P is the total pressure in psig. The CE
of the reference year for the reactor cost is 394.

Flash drums

The PEC of the flash drums is calculated according to Eq. F.17-F.19, with the
reference CE of 394 [31]. The cost term Cp; in Eq. F.17 refers to the added cost for
platform and ladders and depends on the size of the vessel (Eq. F.19).

Cp = FMCV + CPL (F17)
Cy = exp(7.0132 + 0.18255In(w) + 0.02297 (In (w))?) (F.18)
CPL — 361.8D-0'7396L0'70684 (Flg)

In Eq. F.18-F.19, w is the weight of the shell and the two heads in Ib, D; and L are
the diameter and length of the vessel in ft. Carbon steel is used as material, which
results in a Fy of 1. Details for the flash drums of the conventional and MR-assisted
process are given in Table F3.

Table F3. Specifications of the flash drums necessaty for the calculation of the PEC

Conventional process MR-assisted process
Flash drum V1
Length (ft) 12 12
Diameter (ft) 3.5 3
Weight (Ib) 18265 15601
Flash drum V2
Length (ft) - 12
Diameter (ft) - 3
Weight (Ib) - 12557

Distillation towets
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The PEC of the distillation towers is calculated according to Eq. F.20-F.25, with the
reference CE of 394 [31]. The Cp needs to account also for the costs of the trays
(Cr) given by Eq. F.23-F.25.

Cp =FuCy + Cpp, + Cr (F.20)
Cy = exp(7.2756 + 0.18255In(w) + 0.02297 (In (w))?) (F.21)
Cpr, = 3009 DP63316[ 0.80161 (F.22)
Cr = NrFyrFrrFrMCer (F.23)
Fnt = T if Fyy < 20 and Fyp = 1if Fyp > 20 (F.24)

(F.25)

Cgr = 468 exp (0.1739 D;)

Where Ny is the number of stages, w is the weight of the shell and the two heads in
Ib, D; and L are the diameter and length of the vessel in ft. Carbon steel is used as
material, which results in a Fy of 1. Details of the distillation towers of the
conventional and MR-assisted process are given in Table F4.

Table F4. Specifications of the distillation towers necessary for the calculation of the PEC

Conventional process MR-assisted process
Distillation tower T1
Length (ft) 50 58
Diameter (ft) 1.8 1.5
Weight (Ib) 17300 15000
Number of trays (-) 15 18
Distillation tower T2 =
Length (ft) 38 42 %
Diameter (ft) 1.4 105 =
Weight (Ib) 5100 6500 ©
Number of trays (-) 11 12
Distillation tower T3
Length (ft) 70 60
Diameter (ft) 1.2 1.5
Weight (Ib) 21100 25800
Number of trays (-) 22 18

Heat exchangers

The cost of the heat exchangers is determined according to the method reported by
the book of R. Smith [32] (Eq. F.26), for which the reference CE index is 435.8.
() (F.26)
Cp =Cg (@) FyFpFrp
Where Cg is the base cost for the heat exchangers (32800 $), M is the scaling factor,
Q is the capacity of the heat exchanger, which corresponds to its heat transfer area
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and Qg is the base case capacity (80 m?). The Cg is then multiplied by three
corrections factors: Fy for the material, Fp for the design pressure and Fr for the
design temperature. The capacity factors and the correction factors adopted for all
the heat exchangers for the conventional and MR-assisted process are reported in
Table F5 and Table F6, respectively.

Table F5. Capacity factors and correction factors for the calculation of the PEC of the heat
exchangers of the conventional one-step DME production process.

Conventional process

Heat exchanger Cg ($) Q(m? Qg (m? M Fu B Fp
E1l 32800 99.8 80 0.68 1 1.5 1.6
E2 32800 16.8 80 0.68 1 1.5 1
E3 32800 28.9 80 0.68 1 1.5 1
E4 32800 23.6 80 0.68 1 1.5 1
E5 32800 24.0 80 0.68 1 1.5 1
Eo6 32800 3.5 80 0.68 1 1.5 1
E7 32800 13.5 80 0.68 1 1.5 1
ES8 32800 10.7 80 0.68 1 1.5 1
E9 32800 7.3 80 0.68 1 1.5 1.6
E10 32800 2.8 80 0.68 1 1.5 1
E1l1 32800 19.3 80 0.68 1 1.5 1
E12 32800 0.1 80 0.68 1 1.5 1
E13 32800 4.0 80 0.68 1 1 1.6
E14 32800 6.2 80 0.68 1 1.5 1.6
E15 32800 3.9 80 0.68 1 1.5 1.6
El6 32800 0.5 80 0.68 1 1.5 1.6
E17 32800 1.5 80 0.68 1 1.5 1
E18 32800 1.9 80 0.68 1 1.5 1.6
E19 32800 2.1 80 0.68 1 1.5 1
E20 32800 0.5 80 0.68 1 1.5 1
E21 32800 251 80 0.68 1 1 1

Table F6. Capacity factors and correction factors for the calculation of the PEC of the heat
exchangers of the MR-assisted one-step DME production process.

MR-assisted process

Heat exchanger Cg ($) Qm?) Qg (m? M Fu B Fp
E1 32800 54.4 80 0.68 1 1.5 1.6
E2 32800 43.2 80 0.68 1 1.5 1
E3 32800 9.1 80 0.68 1 1.5 1
E4 32800 45.7 80 0.68 1 1.5 1.6
E5 32800 70.0 80 0.68 1 1.5 1
Eo6 32800 0.1 80 0.68 1 1.5 1.6
E7 32800 25 80 0.68 1 1.5 1.6
ES8 32800 8.6 80 0.68 1 1.5 1.6
E9 32800 16.2 80 0.68 1 1.5 1
E10 32800 12.0 80 0.68 1 1.5 1
E1l1l 32800 1.6 80 0.68 1 1.5 1.6
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E12 32800 11.9 80 0.68 1 1.5 1
E13 32800 1.8 80 0.68 1 1.5 1
E14 32800 134 80 0.68 1 1 1.6
E15 32800 16.3 80 0.68 1 1.5 1.6
E1l6 32800 9.6 80 0.68 1 1 1
E17 32800 4.6 80 0.68 1 1.5 1.6
E18 32800 9.6 80 0.68 1 1.5 1.6
E19 32800 0.7 80 0.68 1 1.5 1.6
E20 32800 1.0 80 0.68 1 1.5 1
E21 32800 1.4 80 0.68 1 1 1
E22 32800 0.1 80 0.68 1 1 1
E23 32800 6.0 80 0.68 1 1.5 1
E24 32800 2.1 80 0.68 1 1.5 1
E25 32800 93.5 80 0.68 1 1 1
E26 32800 2.0 80 0.68 1 1 1
EBE27 32800 0.7 80 0.68 1 1 1

Compressors and Turbines

The cost of compressors and turbines is also estimated using the method proposed
by the book of R. Smith, using Eq. F.26. The parameters used together with the
capacities of all the compressors and the steam turbines used in the conventional
and MR-assisted process are summarized in Table F7 and Table F8, respectively.
The reference CE index is 435.8 and 525.4 for the compressors and turbines,
respectively [26], [59].

Table F7. Capacity factors and cotrection factors for the calculation of the PEC of
compressors and turbines of the conventional one-step DME production process.

o~

Conventional process g

Unit G Q@) Qym) M Fy F F g

C1 98400 58.1 250 0.46 1 1 1 ©
C2 98400 624 250 0.46 1 1 1
C3 98400 62.8 250 0.46 1 1 1
C4 98400 73.0 250 0.46 1 1.5 1
C5 98400 788.3 250 0.46 1 1.5 1
Co 98400 24.2 250 0.46 1 1.5 1
C7 98400 5.0 250 0.46 1 1 1
TURB 38.5-10° 264 200-103 0.7 1 1.5 1
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Table F8. Capacity factors and correction factors for the calculation of the PEC of
compressors and turbines of the MR-assisted one-step DME production process.

Conventional process

Unit Cs (9) Qm?) Qgm?) M Ey F F
C1 98400 49.2 250 0.46 1 1 1
C2 98400 50.8 250 0.46 1 1 1
C3 98400 51.1 250 0.46 1 1 1
C4 98400 50.9 250 0.46 1 1.5 1
C5 98400 22.7 250 0.46 1 1.5 1
Co6 98400 10.5 250 0.46 1 1.5 1
Cc7 98400 3724 250 0.46 1 1.5 1
C8 98400 2.1 250 0.46 1 1 1
TURB 38.5-106 197 200-103 0.7 1 1.5 1

HP steam generation and cooling tower

The costs of the cooling tower and of the equipment required for the generation of
the HP steam (i.e., pump and boiler) are evaluated again using Eq. F.26, using a
reference CE index of 435.8. The capacity factor for the cooling tower, boiler and
pump is the flow of water (m3/h), the steam produced (kg/h) and the power (kW),
respectively. An overview for both the conventional and MR-assisted process is
given in Table F9.

Table F9. Capacity factors and correction factors for the calculation of the PEC of
compressors and turbines of the MR-assisted one-step DME production process.

Unit B Q@) Q) M Fy F F
Conventional process

Cooling tower  4.43-103 153 m3/h 10 m3/h 0.63 1 1

Boiler 3.28:10° 2846 kg/h  20:103kg/h 081 1 1.5 1.6
Pump 1.97-103 4.18 kW 1 kW 035 1 1.5
MR-assisted process

Cooling tower ~ 4.43-103 83.4 m3/h 10 m3/h 0.63 1 1 1
Boiler 3.28:10° 2549kg/h  20:103kg/h 081 1 1.5 1.6
Pump 1.97-103 4.05 kW 1 kW 035 1 15 1

F.4 Supplementary equations for the economic analysis

The labor requirement depends on the number of operators required on site (Ngp),
which is calculated according to Eq. F.27. Here, P is the number of solid handling
steps (zero in this case) and N is the number of non-particulate processing steps (i.e.,
compression, heating, cooling, mixing and reaction). For each Ng, 4 operators are
considered, since the plant operates 24 h/day and for 8000 h/year, with shifts of 8
h per operator.

Nop = (6.29 + 31.7 P2 + 0.23 N)©* (F.27)
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The ACAPEX is determined by multiplying the CAPEX by the annualization factor,

as shown in the following equation:
_ ,_ra+not (F.28)
ACAPEX = CAPEX A+h—1

Where 1 corresponds to the average cost of capital (WACC) and L, to the assumed
lifetime of the plant. The WACC is given in Eq. F.29, where Dy, is the debt ratio, ig

the debt interest rate and i, is the cost of equity.
(F.29)

WACC=DR1d+(1—DR)1e

The minimum DME selling price (MDSP) was determined based on the discounted
cash flow (DCF) analysis, setting the net present value (NPV) equal to zero and the

interest rate equal to the discount rate (IRR), as in Eq. F.30.

Ly
Z CFa (F.30)
£ (1+IRR)" h

CF, corresponds to the cash flow at the year n and is defined in Eq. F.31, where P,
is the gross profit, t is the tax rate and D, is the depreciation.

F.31
CFy =P,(1 —t) + Dyt (F.31)
F.5 Supplementary figures
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Figure F1. Overview and details of the HP steam generation and cycle for the conventional
(a) and MR-assisted (b) one-step DME production process.
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CHAPTER 8

Conclusions and Outlook

8.1 CONCLUSIONS

In this work, the use of the membrane reactor technology for the in-situ removal of
water in the one-step COz conversion to DME was assessed at different scales and
under different perspectives.

In Chapter 2, a 1D phenomenological reactor model was developed in order to
evaluate the potential of the in-situ removal of water as means to overcome the
thermodynamic limitations of the COz-to-DME reaction. First, a membrane reactor
configuration in which a sweep gas containing the reactants (CO2+Ho) is circulated
in cocurrent mode has been proposed as effective way to simultaneously promote
the removal of water and heat from the reaction environment. The model was then
used to study the effect of the membrane properties, in terms of water permeance
and perm-selectivity, on the reaction performance, in order to gain insights into
suitable membrane materials. The optimal properties showed good agreement with
the state of the art. Nevertheless, carbon molecular sieve membranes were proposed
as a promising material, given their superior thermo-chemical stability in hot humid
environment.

Thereafter, the effect of process conditions, such as the sweep gas ratio (SW) and
the pressure gradient across the membrane (AP) was assessed. The SW ratio showed
higher influence on the water removal than the AP, lowering the demands on the
membrane mechanical stability. Furthermore, the circulation of a sweep gas in
cocurrent mode proved an effective strategy to selectively remove the water from
the reaction zone as well as to optimize the temperature profile. In this
configuration, when 96% of the water is removed, CO2 conversion and DME yield
display an improvement of 36% and 43% each, with respect to a conventional
packed bed reactor working in the same conditions.

In Chapter 3 and 4, alumina-supported carbon molecular sieve membranes
(CMSM) were studied to prove their potential to selectively separate water from (Ho-
rich) gaseous mixtures at relatively high temperature (i.e., 150-250 °C), conditions
which are relevant for the CO; hydrogenation to methanol/DME reactions.

Given the possibility to easily tune the properties of these membranes for a specific
separation by acting on different synthesis parameters, in this thesis, CMSM
properties were modified in order to achieve the target set in Chapter 2.

In particular, in Chapter 3, boechmite nanosheets were incorporated in the dipping
solution used for the preparation of the membranes, as a way to increase their
hydrophilicity. Indeed, the addition of boehmite induces an optimum in the
membrane affinity to water, while, at larger boehmite content, the probability for
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boehmite to condense to the less hydrophilic y-Al,O3 within the carbonization step
increases. Boehmite was found to not significantly affect the pore size distribution
of the membranes. However, the cross section of the CMSM shows an increase in
the thickness of the composite carbon layer for larger boehmite content. The water
permeability shows an optimum with the initial boehmite content of 0.8 wt %, which
is in line with the optimum found in the hydrophilicity, despite being slightly shifted
to a lower value. This shift was found to be induced by the increase in tortuosity
introduced by the boehmite/alumina nanosheet at higher concentrations. For the
same reason, also the water/gas perm-selectivity shows an optimum which is shifted
to higher boehmite content (i.e., 1.2 wt %). Indeed, given their generally larger
kinetic size with respect to water, gases (i.e., Ha, CO2, CO, CH4, N») are more
affected by changes in the tortuosity of the porous structure. Furthermore, in line
with the expectations, the H,O/i selectivity generally increases for larger gas
molecules, which is a clear indication of molecular sieving being the dominant
mechanism of gas permeation. The water permeance and H>O/i selectivity was
found to decrease with temperature and increase with the AP (across the membrane),
indicating that capillary condensation and adsorption diffusion can both play a
significant role in the water permeation. The mechanism of water permeation was
further investigated via the implementation of the 6 flow models, which indicates that
the water vapor flow through the membrane pores transform from capillary
condensation to multi- and monolayer surface flow combined with molecular
Knudsen gas flow, as temperature increases.

The CMSM studied in Chapter 3 were all carbonized at the same temperature (i.e.,
500 °C). However, the carbonization temperature (Teap) is an important synthesis
parameter to tune, since during the carbonization/pyrolysis step, the dense
polymeric membrane precursor gradually transforms into a porous carbon molecular
sieve membrane with completely different physicochemical properties. Thus, in
Chapter 4, boechmite-phenolic CMSM were prepared based on the previously
optimized composition (e, 0.8 wt % boehmite content), carbonizing the
membranes in the temperature range 450-750 °C. First, via FTIR analysis, it was
found that the membrane loses its OH and aliphatic CH groups for T, = 600
°C. The aromaticity, instead, disappear at higher temperatures (700-750 °C), with
the resin gradually transforming into a char-like structure. The membrane
hydrophilicity, studied via in-situ FTIR analysis, was found to be optimal at T, of
500 °C, to then gradually decrease with the carbonization temperature, as the
hydrophilic functional groups are being removed. CMSM were found to be inert to
H», CO and Ny, while CO» adsorption was found to be significant and to increase
with Tgarp, due to an increase in the surface area and to the transformation of the
amine group into pyridine/pyridone structure, which displays stronger affinity to
COs. The permeance of all gases and vapors tested showed the same behavior with
Tearb, displaying an optimum at 600-700 °C, where the membranes are characterized
by a bi-modal pore size distribution, with the largest fraction of molecular sieve (MS)
pores. This led to the conclusion that the trend induced by the carbonization
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temperature in the gas/vapor permeation is solely influenced by the pore size
distribution.

On the other hand, the trend induced by the operating temperature is strongly
influenced by the transport mechanism. Water, methanol and CO» permeates mostly
via adsorption diffusion, while the inert gases (Hz, CO and Ny) permeates via
molecular sieving. This conclusion is in line with the results found in Chapter 3.
Nevertheless, for higher carbonization temperature, the membranes display smaller
pores (i.e., in the MS region), which favors the surface diffusion over the capillary
condensation for both water and methanol. Furthermore, the increasing affinity to
CO:z for higher Teapp, also shifts the dominant mechanism from molecular sieving to
adsorption diffusion.

When comparing the properties of the membranes studied in Chapter 3-4 with the
optimal properties derived in Chapter 2, it is clear that the target in the permeance
of H>O was achieved, while for most of the H2O/i selectivity (Sy,0,1) it was not the
case. The Sy, o/u, is always the smallest perm-selectivity, due to the very similar size
of the two molecules. Furthermore, Sy, 0,co is always greater than Sy,¢,co,, since
COz shows significant affinity to the membrane surface, such that, for some
membranes, adsorption diffusion dominates over molecular sieving. On the other
hand, Sy,0,co and Sy,0/meon show the expected behavior, achieving the target in
most of the cases.

In Chapter 5, 2 membrane reactor, based on the incorporation of carbon molecular
sieve membrane in a conventional CuO-ZnO-AlLO3/HZSM-5 bifunctional catalyst
bed, was tested at laboratory scale for the one-step CO; conversion to dimethyl ether
(DME). Despite the CMSM used in this work displays much higher permeance and
lower H,O/i selectivity than expected, given the tesults of previous chapter, the
packed bed membrane reactor (PBMR) was found to outperform the packed bed
reactor (PBR) in most of the tested conditions.

In particular, larger improvement was measured at lower space velocities, due to the
system approaching thermodynamic equilibrium (.e., larger water content).
Nevertheless, the PBMR was found to improve more the formation of CO (i.e., 1-
WGS) over DME, especially for temperatures higher than 200 °C. Indeed, among
all products, also methanol is being considerably removed from the reaction zone,
reducing its possibility to be further converted into DME. Expectedly, the SW ratio
was found to have a positive effect on all the reaction performance, with the removal
of water achieving ca. 80% at SW=5. Given the higher permeability of this CMSM,
the AP showed to have a negative effect on both COz conversion and product yield,
given the high extent of Ha and CO; removal (i.e., 98-99% at AP of 3 bar). Finally,
the reactor model previously developed in Chapter 2 and then improved in Chapter
6 was found to describe the performance of both the PBR and PBMR quite
accurately in the range of tested conditions.

The relevant heat and mass transfer phenomena occurring at the different scales in
the packed bed (membrane) reactor were investigated in Chapter 6. Intra-particle
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diffusion limitation and concentration polarization were found to have a significant
influence on the reactor performance when simulated at conditions/sizes which are
relevant to large scale operation. Given the complexity of the model obtained with
the incorporation of both these phenomena, short-cut methods were developed to
account for such effects, to be implemented in a simplified 1D pseudo-
homogeneous reactor model. In particular, a correlation for the component-specific
efficiency as a function of the Thiele modulus was developed from simulation data
obtained via the rigorous particle model. This correlation showed the typical
behavior found in literature for simple reaction networks. To account for the
concentration polarization phenomena, a Sherwood-type correlation for the
calculation of the mass transfer coefficient was proposed. The parameters of the
correlation were determined fitting the simulation data obtained via the 2D rigorous
reactor model. When implementing this short-cut methods, the simplified model
showed to predict the results of the more rigorous model with maximum deviations
below 5%. The findings of this work allowed for a further optimization of both the
PBR and PBMR, leading to a significant reduction in the catalyst mass as a
consequence of the decrease in the optimal zeolite weight fraction required for the
methanol dehydration to DME.

In Chapter 7, the impact of using either the PBR or the PBMR technology for the
one-step conversion of CO2 to DME was evaluated at process scale. The two
processes were compared on both a technical and economic perspective. Besides the
already established higher performance of the PBMR with respect to the PBR, the
membrane reactor (MR) assisted plant was found to require less energy input to
produce the same amount of DME, given the higher efficiency of the conversion
step (i.e., reactor). Indeed, the PBMR show a cold gas efficiency of 88% versus the
76% of the PBR. On the economic aspect, both processes revealed to be OPEX
intensive, with the operating cost of the MR-assisted plant being significantly lower
(i.e., 23%), due to the lower requirement of catalyst and of Ha, which covers ca. 60%
of the OPEX. However, despite the MR technology allows for a decrease in the
minimum DME selling price (MDSP) of ca. 11%, the MDSP is still more than 3
times higher than the current DME market price. A feasibility study was carried out
to predict the moment in which this technology (i.e., CO2-to-DME) could become
competitive with the benchmark (i.e., syngas conversion to DME) was carried out.
It was found that, with further process optimization and with the predicted decrease
of renewable Hy price and a zero-to-negative cost for the CO; feedstock, the MR-
assisted system could become competitive with the benchmark between 2025 to
2050.
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8.2 OUTLOOK AND RECOMMENDATION FOR FUTURE RESEARCH

The use of membranes to promote the in-situ removal of water from the reaction
environment proved an effective strategy to improve both the reaction and process
performance of the one-step CO2 conversion to DME.

In this work, carbon molecular sieve membranes were proposed and studied, in view
of their high stability under the process conditions of interest. Since the target
initially set for the properties of the membranes was only partially achieved, further
optimization and investigation would be required on these materials, especially into
the direction of higher H>O/1 selectivity. As an example, the membrane selectivity
could be improved increasing the thickness of the selective layer, sacrificing the
water permeability, which in most of the cases was found to exceed the target value.
A thicker carbon layer could be obtained with the deposition of a second layer on
top of the first one, repeating the dip coating, drying and carbonization step or by
increasing the viscosity of the dipping solution acting on the composition (i.e.,
solvent/polymer ratio). Furthermore, the H2O/CO: selectivity could be improved
reducing the membrane affinity to CO», by limiting the content of N-containing
groups, replacing the ethylenediamine with another component.

The membrane reactor experiments showed a considerable removal of methanol
which would reduce its possibility to be further converted into DME. Thus, the
H>O/methanol selectivity was found to be another critical parameter. Given the
larger kinetic diameter of methanol with respect to water (i.e., 0.38 vs 0.265 nm), this
selectivity could be improved by preparing membranes with smaller pores. This
could be done by using different polymeric precursors or using different types of
post-treatment aimed at narrowing the pore size distribution of the membrane [1],
[2]. Finally, further investigation is required in terms of the reproducibility of the
CMSM. Indeed, as shown in Chapter 5, when changing one synthesis parameters
(i.e., diluting the dipping solution with more solvent), the membrane properties
could be enormously affected. Thus, it is very important to control all the steps
involved in the membrane preparation and to optimize all the parameters for a
specific application.

In order to further increase the credibility of the model developed in this work, the
effect of the catalyst particle size as well as of the concentration polarization
phenomena should be validated. Thus, more experiments would need to be
conducted using catalyst pellets and reactors with larger diameters, able to develop
relevant radial concentration gradients both at the particle and reactor scale.

Finally, to remove most of the uncertainties and to more accurately predict the
conditions to make the one-step COx conversion to DME an industrially attractive
process, the techno-economic analysis should be repeated on a more integrated
system. This means that a specific CO» emitting source should be selected, in order
to implement the most efficient CO» capture technology. At the same time, the most
cost effective H» production method should be also incorporated in the system (i.e.,
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CHAPTER 8

on-site Ha production). This scenario would allow further optimization of the energy
requirements, leaving as sole uncertainty the cost of electricity/natural gas.

Once covered all the previous points, the membrane reactor technology should be
demonstrated at larger scale, to assess the effect of impurities in the feedstock as
well as to study the membrane stability over an industrially relevant period of time.
Results from this type of demonstration phase could be used to further validate the
reactor and process models developed in this work, to finally have a technology
ready to be implemented at industrial scale.
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