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ARTICLE INFO ABSTRACT
Keywords: The direct hydrogenation of CO to dimethyl ether (DME) is a promising technology for CO, valorisation. In this
Membrane reactor work, a 1D phenomenological reactor model is developed to evaluate and optimize the performance of a

CO, conversion
DME production
Water removal
Sweep gas

membrane reactor for this conversion, otherwise limited by thermodynamic equilibrium and temperature gra-
dients. The co-current circulation of a sweep gas stream through the permeation zone promotes both water and
heat removal from the reaction zone, thus increasing overall DME yield (from 44% to 64%). The membrane
properties in terms of water permeability (i.e., 41077 mol-Pa 'm~2s~1) and selectivity (i.e., 50 towards Ha, 30
towards CO; and CO, 10 towards methanol), for optimal reactor performance have been determined considering,
for the first time, non-ideal separation and non-isothermal operation. Thus, this work sheds light into suitable
membrane materials for this applications. Then, the non-isothermal performance of the membrane reactor was
analysed as a function of the process parameters (i.e., the sweep gas to feed flow ratio, the gradient of total
pressure across the membrane, the inlet temperature to the reaction and permeation zone and the feed
composition). Owing to its ability to remove 96% of the water produced in this reaction, the proposed membrane
reactor outperforms a conventional packed bed for the same application (i.e., with 36% and 46% improvement in
CO; conversion and DME yield, respectively). The results of this work demonstrate the potential of the mem-
brane reactor to make the CO, conversion to DME a feasible process.

1. Introduction for both methanol and DME rely on fossil-based syngas [19,20], leading
again to environmental problems [21,22], recent research assesses the
The growing concerns about CO; emissions [1,2], and its impact on prospects of replacing the syngas by COy/H> feed [7,23], according to
climate change are driving the research agenda towards more sustain- the following scheme:
able processes. One of the most powerful solutions to mitigate anthro-
pogenic CO, emissions, mostly coming from flue gases of fossil-based
power and chemical plants, [5,6]is the carbon capture and storage Reverse water gas shift: CO» -+ Hy CO + H,O AHy= +41.2 kJ/mol )
technology (CCS) [3,4] coupled with the reconversion of the collected
CO,, into valuable products [7-13]. For example, the CO, conversion to Methanol dehydration: 2CH;0H CH30CH3 + H,0 AHp=-23.4kJ/mol (3)
dimethyl ether (DME) is an intriguing route [7,14]. DME is a clean
burning fuel that can replace LPG or diesel without any (or limited)
changes in the existing engines [15,16]. When used as a substitute for
diesel, DME is particularly attractive due to its high cetane number (i.e.,
60), low boiling point (i.e., —2.5 °C), and the lack of C—C bonds
[16-18], which render DME an attractive fuel. Currently the synthesis of
DME can proceed via two routes. First, the indirect route is based on the
initial conversion of syngas to methanol as intermediate product, and its
subsequent dehydration to DME. The second route is the direct synthesis
of DME from syngas in a single reactor. While the existing technologies

CO; hydrogenation: CO, + 3H, CH30H + H,O AHyp=-49.5 kJ/mol (€8]

The synthesis of methanol (1) is typically carried out over a Cu-ZnO-
Aly03 catalyst [24-26], which also activates the water gas shift reaction
(2) [27,28]. However, several studies propose novel catalyst formula-
tion with improved performance for the CO2 hydrogenation to meth-
anol. For example, oxides showing oxygen vacancies (i.e., ZrO5 or CeO3)
significantly improve the CO; activation [29-32].

On the other hand, the methanol dehydration (3) is catalysed by acid
catalysts, such as y-Al,O3 or HZSM-5 [33-35]. Several acid catalysts,
especially zeolites with different dimensional framework (e.g., FER,
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MOR, MFI) and Si:Al ratios were proposed for the methanol dehydration
to DME, where the balance between Bronsted and Lewis acid sites is
carefully tuned to selectively dehydrate methanol to DME. The main
drawback of these catalysts is their strong hydrophilicity, and conse-
quent deactivation due to strong water adsorption on the acid sites
[36-38]. When DME is synthesized via the direct route, the two catalysts
are physically mixed to form a bifunctional catalyst [39,35]. Besides the
kinetic considerations, the process has important thermodynamic con-
straints. It is well known that the methanol synthesis is a thermodynamic
limited process [40]. Therefore, the immediate consumption of meth-
anol to form DME in the direct route has the beneficial effect of shifting
the equilibrium towards higher conversions. Besides, the overall process
is exothermic and proceeds with a reduction in the number of moles, so
it is thermodynamically favoured at low temperatures and high pres-
sures. Thus, a proper heat management strategy is crucial to prevent
hotspots and the consequent conversion losses. Another strategy to
overcome thermodynamic limitations is the in situ removal of the large
amount of water produced in all individual reactions [41-46]. This is
even more important in the direct hydrogenation of CO5 than in the
conventional process starting from syngas, where water is partially
consumed by the water gas shift reaction. A promising technologies for
the in-situ removal of water is a membrane reactor, where reaction and
product separation are coupled to overcome the thermodynamic limi-
tations (Le Chatelier principle).

Several studies have been published on the use of both organic and
inorganic membranes to enhance the synthesis of methanol. Struis et al.
[47,48] showed that the integration of a Nafion membrane for the se-
lective removal of water in a packed bed reactor has remarkable effects
on the CO; conversion and methanol yield. However, given the poor
thermal stability of the polymeric membranes, most of the recent
research interests shifted towards inorganic membranes, which are more
thermally stable [49-51]. These and other works show that water
permeability and selectivity (i.e., HoO/Hy and H30/CO; separation
factors) are critical parameters with remarkable impact on the overall
process. While the use of membrane technology for the synthesis of
methanol is well demonstrated in the literature, and several modelling
studies also demonstrate its benefits to enhance the dehydration of
methanol to DME [52-54], the application of membrane reactors for the
direct conversion of CO5 to DME (i.e., in one step) has gained research
attention only very recently. In fact, the direct synthesis of DME from
COy-rich syngas (i.e., not yet pure CO2) became a topic of interests in the
last decades due to the popularity of biomass gasification technologies.
Several works demonstrated, the importance of the in-situ water
removal, especially when gradually replacing CO with CO,
[42,46,55,56]. De Falco et al. [15,45] showed for the first time that the
considerations of a heat management strategy and the operation under
non-isothermal conditions are key in this temperature-sensitive process.
In view of the increasing interests in CO; capture and valorisation, very
recently the direct synthesis of DME from concentrated CO, and Hs has
become a hot topic. The CO,-to-DME process is even more challenging
than the well-studied (CO5-rich) syngas route, and thus requires dedi-
cated attention, due to the formation of larger amounts of water, leading
to more severe thermodynamic limitations and membrane stability
issues.

Very recently, the work of Ateka collaborators [41,44,57], demon-
strates the benefits of a packed-bed membrane reactor to boost the
synthesis of DME starting from CO3 and CO mixed in different ratios.
Their work considers the use of zeolite membranes (i.e., H-SOD type and
LTA type), and concludes that the in-situ removal of water leads to
improved DME yields and stable catalytic performance with respect to a
conventional packed bed. Nevertheless, their work focuses on relatively
high temperature operation (i.e., above 275 °C), which limits the
membrane separation performance in terms of water permeability and
water separation factors [58]. Although these operating conditions lead
to attractive DME yields when starting with CO2/COx (with COx = CO
+ CO2) up to 0.5 (i.e., 65% for pure CO), the reported DME yields for
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pure CO- feeds remain very low (~5%). Thus, it is evident that the shift
in feed composition from (CO»-rich) syngas to pure CO5 poses additional
demands on the membrane separation, and thus requires further
investigation. To this end, it is important to consider a wider tempera-
ture range (i.e., especially towards lower temperatures that favour water
permeation), as well as the non-ideal behaviour of real membranes.
Most of the modelling studies reported so far [15,45,46,55,56],
including the most recent works by Ateka et al. [44], consider zeolite
membranes that ideally permeate only the smallest molecules (i.e., HyO
and Hy). However, the likely permeation of other gases such as CO and
methanol may significantly reduce the DME yield, and therefore should
be taken into account when optimizing membrane properties. Further-
more, the importance of the heat integration in this process should not
be underestimated, as temperature enormously affects the product dis-
tribution (i.e., reactions limited by thermodynamic equilibrium), as well
as the membrane separation properties and stability. Indeed, if an
adequate strategy to control the temperature gradients is not adopted,
the process would converge into the r-WGS [59].

In this study, we describe the performance of a membrane reactor for
the direct conversion of COy to DME through a non-isothermal
phenomenological 1D reactor model. We propose a reactor configura-
tion in which a sweep gas is fed co-currently with the feed to promote
both water and heat removal from the reaction zone. This work does not
focus on a specific membrane material, but rather aims at identifying the
required membrane properties (i.e., permeability and selectivity of all
the species) which maximize DME yield and CO5 conversion, and uses
that as a basis for the identification of a suitable membrane material.
Among the available membrane materials, this work pays special
attention to porous membranes as they fulfil important pre-
requirements concerning hydrophilicity, thermal and mechanical sta-
bility and high selectivity [43]. The effect of process parameters (i.e., the
sweep gas to feed flow ratio, the gradient of total pressure across the
membrane, the inlet temperature to the reaction and permeation zone
and the feed composition) on CO5 conversion and DME selectivity is
investigated through parametric studies. Finally, this work provides
insights about optimal membrane properties and process conditions that
render maximum DME yields.

2. Reactor configuration and modelling
2.1. Description of the reactor configuration

In this work we consider the fixed bed membrane reactor sketched in
Fig. 1, with the properties summarized in Table 1. It is composed of two
coaxial tubes: an inner tubular membrane and an outer reactor shell
which hosts the catalyst bed, giving raise to two zones, referred as the
permeation and the reaction zone, respectively. This configuration al-
lows for a high mechanical stability of the membrane, and easy opti-
mization of the ratio between the membrane area and catalyst volume.
Since the permeation of species depends on the gradient in partial
pressure across the membrane, two different approaches can be
considered to promote the removal of water: 1) applying a gradient of
total pressure between the reaction and the permeation zone; and 2)
feeding a sweep gas through the permeation zone to dilute the perme-
ated water. The first solution leads to more mechanical stress on the
membrane, and a higher driving force for the permeation of all the
species, leading to the unwanted loss of reactants. On the other hand,
using a sweep gas with the same composition of the feed favours the
selective removal of water and minimizes reactants loss. In this study, a
sweep gas is fed in a cocurrent configuration in order to enhance water
removal at the beginning of the reactor, where the reaction rate and
water formation are the highest. Additionally, the cocurrent circulation
of the sweep gas at a lower temperature favours the removal of the heat
of the reaction, optimizing the temperature profile. For an exothermic
reaction, a cocurrent circulation of the reaction mixture and the cooling
fluid is preferred, because most of the heat is produced at the beginning



S. Poto et al.

—

Retentate

Membrane

Catalyst bed

CO,+H,

v

Fig. 1. Schematic representation of the packed bed membrane reactor.
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Table 1

Main characteristics of the fixed bed membrane reactor.
Parameter Value
Reactor shell internal diameter, Dg; (m) 0.0198
Bed and membrane length, L (m) 1
Catalyst particle diameter, d, (m) 410
Catalyst density, p, (kg/m®) 1982
Bed porosity, ¢ (—) 0.4
External membrane diameter, Dy, (m) 14.10°3
Internal membrane diameter, D,,; (m) 10-10°2

of the reactor.
2.2. Modelling equations

The phenomenological reactor model relies on the following
assumptions:

. Steady state conditions

. 1D ideal plug flow (i.e., axial and radial dispersion is neglected by

considering L/dp > 50 and D/dp > 25, respectively)

3. Kinetic control regime (i.e., the solid and gas phase are described as a
single pseudo-homogeneous phase, due to the absence of mass
transfer limitations)

4. Negligible pressure drops in the permeation side

5. Kinetics by Lu et al. [60] valid for conventional and membrane
reactor

6. Inert membrane material under reaction conditions.

N =

Accordingly, the membrane reactor model consists of mass and en-
ergy balances for both the reaction and permeation zone, and a mo-
mentum balance for the reaction zone only. For each of the six chemical
species that take part in the process (i), the following equations hold:
drf N T, 5

= p.(1—¢) Z (rv3) 1 (D% —=D2,) — JinDy, (@)

J=1
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dF?

—+= =JimDy, (5)
dz

where J; is the flux of component i through the membrane, as defined in

Eq. (6). By definition, J; is positive when the species permeates from the

reaction to the permeation zone.

Ji = .- (P{ = P)) ®)

; is the permeance of the component i and PR and P? are its partial
pressure in the reaction and permeation zone, respectively. The selec-
tivity of water with respect to the component i is defined as follows:

Pm,0
i

In this work, the dependency of g, on the composition was neglected
because the composition of water (i.e., the primarily permeating spe-
cies) does not change significantly, as confirmed later in Section 3.3. In
addition, it is assumed that the permeation flux is limited by the trans-
port trough the membrane selective layer. Indeed, gas permeation is
usually not affected by concentration polarization phenomena (i.e.,
resistance to the transport from a bulk phase to the membrane surface)
because of the high diffusivity and low permeability of the gases, when
compared to liquids [61].

In this work, we consider the kinetic model by W. Lu et al. (Eq. (8)—
(10)) for the well-studied CuZnOAl,03/HZSM-5 bifunctional catalyst
[60]. The extensive amount of experimental data reported for such
catalyst allow us to easily validate the kinetic model, as well as its
implementation into our reactor model. Nevertheless, other kinetic
models have been reported in literature [60,62-68], very recently also
for new catalyst types, such as CuO-ZnO-MnO/SAPO-18 [69] and a core
shell CuOZnOZrO,@SAPO-18 [70].

Coke formation and water adsorption (i.e. main causes of catalyst
deactivation) are avoided due to the relatively low reaction tempera-
tures and the water removal, respectively. The rate expressions derive
from a Langmuir Hinshelwood model, in which the water and methanol
adsorption on the catalyst surface are neglected.

PryoPcryon
Pco, P, ] — L a0 chson
€O Hy Kot Pco,Pry

)

Smoyi =

r =k 3 8)
(1 + Kco,Pco, + KcoPco + \/Ku, Pu, )
Pco, Ph
=k ﬁ LPZCOZ_PHzo (9)
2 =ky
(1 + Kco,Pco, + KcoPco + /K, Ph, )
Pcryorn”  Pewsoc,
—k 3 _ 30CH3 10
" 3( Ph,o K, 3 (10)

Here P; is the partial pressure of each component in the reaction
zone, calculated as the product between the total pressure and the molar
fractions. The kinetics [60], adsorption [71,72] and equilibrium con-
stants [72] are shown in Table 2.

The energy balance in the reaction and the permeation zone are
described in Egs. (11) and (12), respectively. These balances assume
heat exchange between the reaction and permeation zone, but the
reactor is isolated from the external environment to evaluate the thermal
effects of feeding cold sweep gas as single cooling strategy.

N

drk T
> (Ffepy) = p.(1—¢) i (D} -D3,)

i=1

=

' (= AH,(T®) )+
=1 1mn

<.
Il

—URD,(T* = T") = 2D, 20" E(Jiepi(TF = T,,,))

Ns P Ns

S (Frep,) ‘% = UrD,i(T* = T7) + 2D, Y (hiepi(Top = T7))  (12)

i=1 i=1
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Table 2
Kinetic parameters of the catalytic hydrogenation of CO5 to DME.
Kinetic Value
parameter
k1 1.7609-10* 2
35.45exp T kmol/ (kgm-s-ba )
ka 2.0436-10*
7.3976exp ( 7T> kmol/ (kg.q, -5+ bar)
k: 2 -10*
s 8.2894-.10%exp 7% kmol/ (kg,q, - s+ bar)
Ky, 3.4394.10*
0.249exp (T) 1/bar
K, .104
€0, 1.02-10 7exp(w) 1/bar
RT
K .81-104
0 7.99.10 7 exp % 1/bar
Kpa exp(4213/T —5.752-In(T) —1.707-10-3T +
2.682:107°T% —7.232.1071°T3 + 17.6)
Kp2 exp(2167/T —0.5194-log(T) +
1.037-103T-2.331-1077T% —1.277)
Kp3 exp(4019/T + 3.707 -In(T) —2.783-1073T +

3.8:1077T? —6.56-10% /T —26.64

The global heat transfer coefficient U describes three consecutive
heat transfer phenomena: 1) the convection in the inner tube, 2) the
conduction trough the membrane and 3) the convection in the outer

1 1 Dy 1 D, D,; 1
_ mi - mo mi 1
i * km ln (Dm[) + Dmo hmz) ( 3)

The heat transfer coefficient in the permeation zone (h,;) and reac-
tion zone (hy,,) are calculated according to the correlations by Dittus-
Boelter [73] and Li-Finlayson [74], respectively (details in SI). The
temperature at the membrane surface on the reaction (T,) and
permeation side (T,,) are determined by the steady state energy balance
around the membrane.

(Tmp _ Tp)hmiDm[ _ (Tmr - Tmp)km (14)

2
In <‘;M>

(Tmp - TP)hmiDmi = (TR - Tmr)hanmo (15)

The momentum balance in the reaction zone is described by the
Ergun equation (Eq. (16)), while the pressure drop along the permeation
zone is considered negligible.

dP* 150u(1 — £)2v+ 1.75(1 — &)pv?

i 1
dz ed; &d, (16)

The above set of equations are implemented in MATLAB R2019a and
solved numerically with the odel5s function.

2.3. Operating conditions and parametric studies

Two parametric studies were performed to determine the optimal
membrane properties (i.e., gy, and Sg,o,; in the range summarized in
Table 3) that render maximum CO5 conversion and DME yield. The first

Table 3
Range of gy, and Sy, for the parametric studies (P1 and P2).

Membrane property P1 - ideal membrane P2 — real membrane

@H2O(mol~Pa’lm’zs’l) 0-1-10"° Optimal value from P1
Styo/m, () 0.5-50 Optimal value from P1
Sw,0/c0, (=) © 5-50

Sw,0/co () © 5-50

St,0/meon (—) © 5-10

Sw,0/pmE (—) © ©
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parametric study (P1) assumes that only the smallest molecules (i.e.,
H50 and H,) permeates through the membrane, while the other species
do not permeate (i.e., ideal membrane assumption). This initial study is
used to determine the optimal values gy;,, and Sy,o/m,- The second
parametric study (P2) considers a real membrane where all species may
permeate, and it is used to find the optimal selectivity of water with
respect to the remaining species. Both P1 and P2 were carried out
assuming isothermal conditions, and thus the membrane properties refer
to the chosen temperature.

The ranges of gy, and Sy,o,: considered in P1 and P2 are summa-
rized in Table 3. Typical values of gy, , for porous membranes reported
in the literature vary from 6.8-10~% to 9.7.107% mol-Pa'm~2s71[46].
Thus, this study assess the effect of gy,, between 0 and 1.10°°
mol-Pa~'m~2s~!. With respect to the remaining species, we consider
that water will likely condense in the meso and micro-pores of the
membrane due to the low capillary pressures (e.g., capillary pressure =
10 bar at 200 °C for a pore size of 1 nm in a hydrophilic membrane). This
will effectively reduce the pore size, and, consequently, hinder the
permeation of non-condensable gases. Therefore, for most cases water
has the highest permeance (i.e., >1Sy,0/). Nevertheless, values of
Sh,0/H, lower than 1 were also considered in this study due to contem-
plate the possibility of competitive permeation of these two species, with
very similar size. In the worst case scenario (i.e., separation dictated by
the Knudsen diffusion, usually occurring at higher temperatures within
the bigger pores [75]), the Knudsen perm-selectivity of water and Hj is

M, - .
Su,0/H, = Mw::o = 0.33. Thus, the minimum value of Sy,o/u, is set to

0.5 (i.e., around 50% higher than the Knudsen perm-selectivity value),
although this type of flow is not likely within a hydrophilic membrane.
Data from literature [76,77] show that CO and CO, permeances are very
similar, due to their comparable molecular size. For this reason, the
Hs0/CO2 and H20/CO selectivity was set at the same value. Next, the
permeance of methanol is higher than those of non-condensable gases (i.
€., Sm,0/meon is lower) because methanol may also permeate through
capillary condensation. Finally, DME cannot condense under reaction
conditions because it exceeds its critical temperature (128 °C) under the
operating conditions. DME molecular size is the largest among all the
species in this process, which justifies the assumption of an infinite H,O/
DME selectivity. The kinetic diameter of all the species are reported in
the SI. The dissolution of species in the condensed water was assumed
negligible in this study, since liquid water only exists inside the (small)
pore volume.

Table 4 reports the operating conditions evaluated in this study.
These were kept constants during P1 and P2, while a third parametric
study (P3) aimed to assess the effect of some operating conditions,
within the range reported in Table 4, on the reactor performance. An
average temperature of 200 °C was set as the target within the reaction
zone in order to: 1) avoid catalyst deactivation, which occurs at

Table 4

Operating conditions adopted in the simulations.
Operating condition P1 P2 P3
H,:CO,, (mol/mol)* 3 3 3-10
@f, , (Nm*/h) 0.1 0.1 0.1
TE(K) 473 473 473
TH(K) 473 473 393-473
PR, (bar) 40 40 40
AP (bar)” 0 0 0-40
SW (—)° 3 3 3-50

@ The composition of the feed to the reaction and permeation zone is the same.
b AP is the gradient in total pressure across the membrane.

¢ SW is the sweep gas to feed molar flow ratio.



S. Poto et al.

temperatures greater than 270-300 °C [60,78,79]; 2) limit the produc-
tion of CO, which occurs preferentially at elevated temperatures; 3)
guarantee a sufficiently fast water permeation trough the membrane,
which is enhanced at lower temperatures due to its transport mechanism
[80,81]; and 4) guarantee sufficient catalyst activity, which demands
temperatures greater than 190-200 °C [82]. Finally, a total pressure of
40 bar was set in the reaction zone.

The reactor performance was evaluated in terms of CO5 conversion,
product yield and selectivity, and the amount of water removed. The loss
or cofeeding of reactants (i.e., through back-permeation of sweep gas in
the reaction zone) was considered in the following definitions [83]:

R R
_ Fcozo - Fcoz + FCOz.rmb

Xco, = an
Feo,0 + Feoyum
N (FR + FP
YI-:—R"(I %l) 18)
F co,0 F CO;, tmb
Y:
S = Xl (19)
Xco,
Feo,m» = Fg, o — Fep,CO2 transmembrane flow (20)
Feo,am =0 if Feo,mp < OReactant loss (21)
F Zoz,,mb = Fco,m if Fco,m» > 0 Reactant cofeeding (22)
FP
WR=_—__h0 (23)

Fito + Fiio

where N_; is the number of carbon atoms in the considered species. The
WR is an important key performance indicator, that represents the
membrane efficiency. This variable was introduced by Battersby et al.
[84], who defined the product of the Peclet and Damkohler numbers
(DaPe) as a new dimensionless number representing the combined effect
of reaction and separation. According to the DaPe definition (Eq. (25)), a
membrane reactor works in optimal conditions when DaPe approaches
unity, which means, in our process, that all the water produced is
removed trough the membrane. However, DaPe = 1 describes a ther-
modynamic limit that can only be approached. Therefore, when DaPe
exceeds 1, water builds-up in the reactor, indicating a poor performance
of the membrane reactor.

60 " T T T T
* Model prediction
50+ ¢ Ren etal. (experimental) 1

30 1

20t ¢ * 1

CO2 conversion (%)

480 490 500 510 520 530 540
T(K)

(a)
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Maximum reaction rate per unit volume
DaPe =

. . . 24
Maximum permeation rate per unit volume
In this work, the WR number represents the reciprocal of the DaPe
number.

3. Simulation results and discussion

This section discusses the validation of the kinetic model and the
results of the parametric studies for the optimization of the membrane
properties (i.e., P1 and P2) and the process conditions (P3).

3.1. Validation of the kinetic model

The validity of our model was assessed by reproducing the experi-
mental results of Ren et al. [85] derived for a CuZnOAl,O3/HZSM-5
bifunctional catalyst in a packed bed reactor, where the two functions
were mixed in a 1:1 wt ratio. In Fig. 2 the results of the simulation
related to both CO3 conversion and DME yield are compared with the
experimental data at a pressure of 28 bar, a GHSV of 1215 NL/(kgcat-h)
and a Hy/CO2 molar ratio of 3:1. The model fits quite well the experi-
mental data at lower temperatures (i.e., T < 250 °C), which is the T
range in which Lu et al. [60] studied the kinetics. Therefore, predictions
beyond this T range have not been performed in this study. At 220 °C,
the divergence between the model prediction and the experimental data
is 1.92% for CO2 conversion, 3.5% for DME yield and 1.05% for CO
yield. The difference between the experimental data and the simulated
values, which is larger at higher temperature, derives from the different
composition of the catalytic bed of the two mentioned studies. However,
the kinetic model describes the experimental trend with temperature of
both CO; conversion and DME yield.

Furthermore, the correct implementation of the kinetics was assessed
by reproducing the theoretical results of a conventional packed bed
reactor by Iliuta et al. [55] (see Fig. S2 of SI), with a deviation lower than
2%.

3.2. Optimization of membrane properties (9,0 and Sy,o,:)

3.2.1. Results of parametric studies

In this section, we first optimized the gy,, and Sy,o/m, using the
parametric study P1 (i.e., ideal membrane hypothesis holds), since they
do not depend on the permeation of the other species. Fig. 3a shows the
effect of gy,, on the water transmembrane flow, which expectedly

60 T T T T T
* Model prediction
50+ ¢ Ren etal. (experimental) 1

DME yield (%)
w S
o o

N
o
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Fig. 2. Comparison between the experimental data of Ren et al. [85] and the data obtained with the model prediction for a conventional reactor: CO5 conversion (a)
and DME yield (b) as a function of temperature at 28 bar, GHSV of 1215 NL/(kg.,-h) and H,/CO, molar ratio at 3:1.
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Fig. 3. Effect of the HyO permeance and H,O/Hj selectivity on the membrane reactor performances in terms of: a) water transmembrane flow (Fy,0,mb), b) hydrogen
transmembrane flow (Fy, mb), ¢) CO5 conversion (Xco,) and d) DME yield (Ypume). In each plot, curves are parametric for the H;O/H, selectivity (Se).

increases with greater permeances, reaching a plateau at around 4-10~7
mol/(Pa-mz-s), where the thermodynamic equilibrium between the re-
action and the permeation zone is established. Accordingly, increasing
permeance leads to improvement on CO5 conversion (Fig. 3c) and DME
yield (Fig. 3d) up to 0.6 and 0.5, respectively, due to a shift in the
thermodynamic equilibrium.

In addition, Fig. 3 shows the effect of the selectivity of water with
respect to Hy on the same performance indicators (i.e., transmembrane
flow of water and Hj, and resulting CO, conversion and DME yield). The
ideal membrane allows only water and hydrogen to permeate. In prin-
ciple, an increase in Sy, /5, may be considered advantageous to promote
the permeation of water with respect to that of Hy (i.e., a valuable
reactant). Loosing Hy through the membrane would be detrimental for
the final DME yield as well as for the economics of the process. In this
case, however, the composition of the sweep and feed gas streams are
the same, which in facts results in a net back permeation of Hy from the
permeation to the reaction zone regardless of the selectivity. This phe-
nomenon, hereby referred as cofeeding, explains the negative values
reported in Fig. 3b, particularly at low Sy,o/u, values (i.e., poorly se-
lective membranes). In other words, there is no need for a highly se-
lective membrane to prevent Hy loss when using a sweep gas with the
same concentration as the feed mixture.

As shown in Fig. 3b and ¢, Hy cofeeding is beneficial both for the CO,
conversion and DME yield, in line with the work of Diban et al. [46].

Interestingly, our results also show that decreasing the H,O/H; selec-
tivity by three orders of magnitude leads to a negligible effect on the
reactor performance. The low sensitivity of the process to variations in
membrane selectivity is conducive to a very robust reactor concept.
However, excessive cofeeding is undesirable because it would require a
significant Hy reintegration in the sweep gas before its recycle. In other
words, despite the negligible effects of the perm-selectivity of hydrogen
on conversion and yields, it is desirable that the membrane preferen-
tially enhances the separation of water (i.e., relatively high values of
Sm,0/1,)- In that case, the permeated water can be easily condensed from
the outlet of the permeation zone, facilitating direct recirculation of the
sweep gas without complex post processing units. Thus, a Sy,o,4, of 50
was considered for the rest of this study.

AfterWardS, we optimized the SHZO/COD SHZO/COZ and SHZO/MeOH with
the parametric study P2, which considers a real membrane. Fig. 4a
shows the effect of the HyO/COx selectivity (where COx refers to either
CO4 or CO, with assumed equal permeance) on CO5 conversion and
products yield. Both CO3 conversion and DME yield display a very mild
increase with greater HoO/COy selectivity, up to a maximum value of
0.60 and 0.42, respectively. On the other hand, methanol and CO yield
are nearly unaffected by the Hy0/COy selectivity. In principle,
increasing the HoO/COx selectivity has two main advantages: 1) both the
loss and cofeeding of CO4 is limited, requiring no adjustment of the CO,
composition in the sweep gas prior to recirculation, and 2) CO
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Fig. 4. Effect of the H,O/COy (a) and H,O/MeOH selectivity (b) on the membrane reactor performances in terms of CO, conversion (Xco,), DME yield (Ypwme),

methanol yield (Ymeon) and CO yield (Yco).

permeation is limited, which minimizes the extent of the reverse water
gas shift reaction and thereby improves DME selectivity. However, these
results show that the susceptibility of the system to this parameter is
negligible, due to the use of a sweep gas with equal concentration as the
feed stream, which limits the gases permeation in both ways. Hence, an
average value 30 (i.e., a value in the middle of the range explored) is
used in the rest of this study.

Fig. 4b shows a slight negative effect of HyO/MeOH selectivity on the
CO4 conversion and methanol yield. Expectedly, a greater methanol
permeation (i.e., a low selectivity) results in a shift in the thermody-
namic equilibrium of the CO, hydrogenation reaction (i.e., reaction (1)).
In this process, such situation is not desired since methanol permeation
will limit its further dehydration to DME. For the same reason, when
increasing the HoO/MeOH selectivity, DME yield increases. Likewise in
previous cases, the DME yield does not seem very sensitive to a 10 fold
increase in the H,O/MeOH selectivity. Further, Fig. 4b shows that this
selectivity has no effect on the CO yield, as expected. Since a higher
value of selectivity is not physically expected, the optimal value of HyO/
MeOH selectivity is set to 10.

Finally, the large kinetic diameter of DME and its non-condensable
nature under reaction conditions justifies the assumption of infinite
H2O/DME selectivity. However, it should be noted that an infinite value
for the HyO/DME selectivity is not necessarily optimal, since the
removal of DME from the reaction environment is expected to enhance
its production. However, it would also require the recovery of DME from
the permeate stream. This would demand additional equipment and
energy intensive DME/CO, downstream separation track.

Table 5 summarises the optimal membrane permeability properties
as determined in the previous parametric studies (P1-P2).

3.2.2. Discussion on suitable membrane materials
Based on the results of the parametric studies, we elucidate on a
suitable membrane material for the conversion of CO5 to DME. To allow

Table 5

Optimal membrane properties determined through the parametric studies.
Estimated membrane performance Value
H0 permeance, ¢y, o (mol-Pa 'm~%71) 41077
H,0/H, selectivity, Sy,o/m, (—) 50
H,0/CO; selectivity, Sy,0/co, (—) 30
H,0/CO selectivity, Sp,o/c0 (—) 30
H,0/MeOH selectivity, Sy,o/meon (—) 10

H,O/DME selectivity, Sy,o/pme (—) o0

the separation of water vapor from a mixture of gases (e.g., Hz and CO3)
the selected membrane material should be porous and possess affinity to
water (i.e., it should be hydrophilic), thus favouring the permeation of
water through capillary condensation and hindering that of non-
condensable gases. The exact pore size of such material may be
tailored as a trade-off between permeation fluxes and selectivity, which
will strongly depend on the material itself and its degree of hydrophi-
licity. Besides its permeation properties, the membrane material should
also be mechanically and thermo-chemically stable under process con-
ditions. This is, the membrane should withstand pressures of 10-50 bar
and temperature of 200-300 °C in humid environments, while preser-
ving its chemical and porous structure, and associated permeation
properties.

Polymeric membranes display adequate separation performance, but
they undergo degradation at temperatures above their glass transition
point (i.e., usually below 200 °C) and swelling phenomena may occur in
too humid environment. The second important category of membranes
material are porous ceramic membranes [86,87] (e.g., alumina, silica,
zirconia, titania or a mixture of them). Among them, zeolite membranes
have been widely studied for pervaporation [88]. Indeed, several works
describe the potential of microporous zeolite membranes for the selec-
tive removal of water for different processes such as the methanol syn-
thesis [43,49-51], the Fischer Tropsch process [83,77] and the DME
synthesis as well [41,42,44-46,56,57]. Table 6 reports the properties of
zeolite membranes in terms on @y o and Sy,o;; we retrieved from a
literature survey. Although the reported permeation properties of zeolite
membranes look very promising and match with our requirements, their

Table 6
Summary of the literature review on the properties of zeolite membranes in
terms on gy, and Sp,0/;, in the temperature range of 200-250 °C.

Parameter Value Reference

H,0 permeance, ;o 6.8:107%-1.10°
(mol-Pa~'m~2s71)
H,0/Hj selectivity, Sy,o/m, 2-50

=)

[51,58,98-55,59,77,92-97]

[51,58,77,93-95,98,99,101,55]

H,0/CO4, selectivity, 2.45-17.7 [77,100,102,103,104]
Su,0/c0, ()

H>0/CO selectivity, Sy,0/co 3.7-19.6 [77,100,102,103,104]
)

H,0/MeOH selectivity, 1-9 [58,92,96,99,105,106]
Sh,0/meon (—)

H,O/DME selectivity, Not defined -

St,0/ome (=)
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stability in hot humid environments remains a topic of concern within
the experimental research [89]. Their high separation factors, especially
at high temperature, are still under investigations. In addition, it is
difficult to obtain a large crack free zeolite membrane [90,91].

Carbon molecular sieve membranes (CMSM) are another interesting
category of inorganic porous membranes that could be suitable for this
application. Carbon membranes derive from the pyrolysis of a polymeric
precursor [107], and according to the conditions of the carbonization
process, different groups of atoms are removed from the precursor. The
residual functional groups are responsible for the membrane hydro-
philicity. Besides, these membranes are stable in both humid and hot
environment, as far as the carbonization temperature (e.g. typically
above 400 °C) is not overcome. Even if the concept of carbon mem-
branes can be found back in the early 1970 [107], they have only been
tested for gas separation processes [108,109]. Experimental results
regarding this last category of membranes, especially concerning the
permeation of condensable species, are not available yet. Therefore,
further investigation is required. Owing to its promising features,
however, the following section considers the membrane module as an
alumina supported carbon molecular sieve membrane [110].

3.3. Optimization of the operating conditions
This section discusses the effect of the main operating conditions on
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the reactor performance. In these simulations, the reactor is no longer
considered isothermal. The heat balances are solved by considering an
alumina supported carbon molecular sieve membrane material [110] for
the membrane module, in line with the previous discussion. The con-
ductivity of this material is calculated in SI. The permeance and selec-
tivity values of the selected membrane are shown in Table 5.

3.3.1. Effect of the sweep gas to feed flow ratio (SW) and the gradient of
total pressure (AP)

The sweep gas to feed flow ratio (SW) and the gradient of total
pressure across the membrane (AP) are the main parameters regulating
the transmembrane driving force. Fig. 5a, b and c show the effect of SW
and AP on CO conversion, DME yield and water removal (WR), which
all increase when both SW and AP increase, up to an asymptotic value of
0.63, 0.53 and 0.96, respectively. An increase in both SW and AP
effectively decreases the partial pressure of water in the permeate zone,
and thus increases the driving force for water removal (i.e., greater WR).
Therefore, the CO, conversion and DME yield, which benefit from the
removal of water due to thermodynamic reasons, show the same trend as
WR.

All the variables describing the reactor performance reach an
asymptotic value when increasing SW and AP. In particular, the per-
centage of water removed from the reaction zone approaches a value
slightly lower than 1 (i.e., between 0.94 and 0.96), indicating that most
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Fig. 5. Effect of the SW ratio and the AP on the reactor performances in terms of a) CO, conversion (Xcop,), b) DME yield (Ypwme), ¢) CO yield (Yco) and d) water
removal (WR), (H5:CO5 = 3; Tg = 473 K, all the other process conditions are reported in Table 4 — P3).
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of the water produced in the reaction is effectively removed from the
reaction zone. However, complete water removal is not possible due to
the thermodynamic equilibrium established between the reaction and
permeation zone.

It is interesting to note that WR, and accordingly CO, conversion and
DME yield, are particularly sensitive to SW, while the effects of AP are
less significant, especially at high SW. For example, for a SW of 50, an
increase of AP from 0 to 40 bar leads to the mild increase in CO5 con-
version and DME yield from 0.62 to 0.63 and from 0.52 to 0.53
respectively. On the other hand, increasing the AP, also leads to the
undesired loss of reactants or methanol. This is minimized by adjusting
the composition of the sweep gas and tuning the membrane properties (i.
e., increasing the Sy,0/meon)- These findings are in line with similar re-
sults reported in literature [46,55,56,83]. Furthermore, Gorbe et al [51]
reported a decrease in the water/gas separation factors for higher tem-
peratures and AP related to the same reason. Therefore, the membrane
properties and the compression costs required for the sweep gas will
dictate the final choice of AP. Since this cost analysis is outside the scope
of this study, a value of 5 bar for the AP was assumed for the following
study.

Fig. 5¢ shows the effect of SW and AP on CO yield. Upon increasing
SW at constant AP, CO yield goes through a maximum and then de-
creases to reach a plateau. The CO transmembrane flow (shown in
Fig. S5 of SI) shows the same behaviour. Initially absent in the sweep gas
stream, both CO and water permeate through the membrane, enhancing
the formation of CO via the reverse WGS reaction. Above a certain value
of SW — which is lower as higher is the AP — the effect of water removal
on the methanol synthesis and dehydration reaction becomes more
significant. Likewise the previous trends and following analogous
rationale, the CO yield also benefits from increasing AP. The AP effect
on the CO yield is negligible, especially for high values of SW. The
asymptotic value of CO yield is 0.06, showing that the DME selectivity is
very high under these conditions.

In the proposed reactor concept, the sweep gas also acts as a cooling
fluid that helps minimize temperature gradients. The temperature pro-
file of the reaction zone along the reactor shows the typical trend of an
exothermic reaction, when a colder fluid - in this case the sweep gas — is
circulated in cocurrent mode. The temperature increases up to a
maximum (i.e., hot spot) and then decreases to reach an asymptotic
value. Therefore, we can identify two characteristic temperatures: 1) the
maximum temperature (Tffm) and 2) the asymptotic temperature (Tgnd).
Fig. 6 shows the effect of SW and AP on TR, and TR ;. While TR is
nearly independent on SW, the use of sweep gas seems to be an effective

strategy to minimize TX ;. An increase in the SW ratio (i.e., increase the
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sweep gas flow rate and velocity) increases the heat transfer coefficient
(see correlations in SI), improving the heat removal capacity of the
sweep gas itself. Besides, larger values of SW lead to higher water
transmembrane flows, which contributes to the heat removal as well.

As expected, the AP shows no influence on the temperature profile,
since it does not influence nor the water transmembrane flow or the heat
removal related to convection.

According to these results, we can conclude that for a SW greater
than 20 there is no significant improvement in the reactor performance
and most of the variables reach their asymptotic value (i.e., an increase
of SW from 20 to 30 leads to an insignificant improvement in CO5
conversion and DME yield lower than 5% and only 1% decrease in TX ,).
As mentioned earlier, an average temperature of 200 °C in the rection
zone was selected as a compromise between the reaction kinetics,
thermodynamics, catalyst stability and the water separation consider-
ations. Therefore, the sweep gas inlet temperature was adjusted
accordingly. The final temperature, TR ;, reaches a value of 200 °C when
TF is 185 °C, confirming that the sweep gas, in these conditions, has a
sufficient heat removal capacity to optimize the reactor temperature
profile (see Fig. S7 of SI).

3.3.2. Effect of feed composition

A key constraint for the methanol and DME production from CO3 +
Hy mixtures is the need of large amounts of expensive Hy. In fact, a large
H,:CO, molar ratio favours the CO2 hydrogenation reactions, both from
the kinetic and thermodynamic point of view. Fig. 7 shows the effect of
the Hy:CO2 molar ratio on DME yield for either a conventional and a
membrane reactor. It is clear that a high Ha concentrations increases the
DME yields for both the membrane reactor (up to about 0.7) and for a
conventional one (up to about 0.4), but it comes at the expense of high
operational costs. Thus, a proper optimization of this parameter should
result from an economic evaluation. Here, the membrane reactor offers a
clear economic advantage to the conventional packed bed reactor, as it
achieves greater DME yields, and importantly, it reaches its maximum
DME yields at lower Hy:CO, ratio.

On the other hand, the membrane reactor configuration we propose,
utilizes a CO5 + Hj stream as sweep gas, with a SW ratio of 20. Such
stream contributes only to water and heat removal, thus it could be
recirculated back to the reactor with a ~100% recycle ratio. Fig. 8 shows
the concentration profile of the sweep gas along the reactor. As ex-
pected, the main components of this stream are CO3 and Hj, with minor
amounts of the reaction products (see zoomed in profiles in Fig. 8b). The
molar fractions of CO; and Hj in the permeation zone suffer from
negligible changes along the reactor. Therefore, the sweep gas can be
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Fig. 6. Effect of the SW ratio and the AP on the reaction zone temperature profile: a) temperature (Tfmx) as a function of the SW ratio and AP; b) the asymptotic
temperature value (Tfnd) as a function of the SW ratio and AP (H,:CO, = 3; Tg = 473 K, all the other process conditions are reported in Table 4 — P3).
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Fig. 7. Effect of the inlet H,:CO5 molar ratio on the DME yield (Ypmg) for a
membrane reactor with a SW = 20; AP = 5 bar; T, = 473 K (all the other
process conditions are reported in Table 4 — P3) and a conventional reactor
working at the same conditions in terms of total pressure (i.e., 40 bar) and

average temperature (i.e., 473 K).

recycled to the reactor after limited post treatments (i.e., condensation
of the permeated water and a make-up of CO2 and Hy of 0.13% and
0.0038% of the initial flow rate, respectively). Water is the only species
that significantly permeates along the reactor, reaching a WR of 96%.
Even then, its concentration in the permeation zone is very low, con-
firming that the circulation of a sweep gas generates sufficient driving
force for water permeation by diluting water in this stream, even if the
gradient of total pressure is close to zero. The sweep gas at the outlet of
the reactor contains also a small amount of CO (0.018%) and methanol
(0.028%), which can be recycled together with CO, and Hj. The pres-
ence of methanol and CO in the sweep gas will further avoid the un-
desired permeation of these species from the reaction side.

3.4. Optimized membrane reactor performance vs thermodynamic
limitations

This section discusses the performance of the optimized membrane
reactor and compares it with the thermodynamic limitations. The
optimal operating conditions for the membrane reactor are summarised
in Table 7. Fig. 9 shows the profiles of the main reactor variables (i.e., TR,
T?, y§.0) Yh,0 Xco,, Youe) as a function of the reactor length (z). The

CO

0 0.2

(2)

Fuel 302 (2021) 121080

temperature profile (Fig. 9a) shows the role of the sweep gas as a cooling
agent which minimizes axial temperature profiles in the reaction zone.
The water concentration in the reaction zone remains very low along the
reactor, which confirms that the membrane reactor has reached its
target, with an efficiency of water separation of 96% (see WR profile in
Fig. S8b of SI). In addition, Fig. 9a also shows that the peak of water
concentration is near the reactor inlet, reassuring the choice the
cocurrent operation. Since the reaction rate is the highest in the begin-
ning of the reactor, both heat and water production are maximum at this
point. Therefore, in this zone the highest driving force for both the heat
and water removal is required.

The pressure drops in the reaction zone are lower than 0.1 bar, under
these conditions (see Fig. S8a of SI). This is important to minimize
compression costs and to prevent back-permeation of water at the end of
the reactor. Fig. 9b shows the membrane reactor performance in terms
of CO4 conversion and DME yield and demonstrate that this reactor
configuration clearly overcomes the thermodynamic limitation under
these conditions. Fig. 9b shows that CO2 conversion and DME yield
exceed the thermodynamic values (i.e., best possible performance of a
conventional packed bed reactor) by 36.4% and 43.3%, respectively.
This result proves that the selective removal of water in a membrane
reactor strongly enhances both the methanol production and its dehy-
dration to DME. Therefore, we believe that the use of membrane reactor
technology will be key to increase the feasibility of the direct conversion
of CO5 to DME.

Finally, Fig. 10 underlines the importance of the heat management in
this process by comparing the temperature profiles considering the
proposed heat management solution with the corresponding tempera-
ture profile under adiabatic conditions. The latter shows a first tem-
perature rise of around 50-60 °C, followed by a decrease in temperature
due to the thermodynamically favoured endothermic r-WGS reaction.

Table 7

Optimal operating conditions for the membrane reactor.
Operating condition Value
Reaction zone inlet temperature, T (K) 473
Permeation zone inlet temperature, T (K) 458
Reaction zone pressure, PR (bar) 40
Pressure difference across the membrane, AP (bar) 5
Sweep gas to feed flow ratio, SW (—) 20
H,:CO,, molar feed ratio (both zones) 3.5
Inlet volumetric flow of H; in the reaction zone, ®f, , (Nm®/h) 0.1
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Fig. 8. Sweep gas (or permeation zone gaseous mixture) concentration profile of a) the main component of the streams (CO; and H;) and b) the permeating species
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Fig. 9. Membrane reactor performance: a) temperature and water molar fraction profiles; b) CO, conversion and DME yield profile, together with the respective
thermodynamic limitations (X%, and Y#,;), calculated at 40 bar and 200 °C. The membrane reactor operating conditions are reported in Table 6).
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Fig. 10. Comparison of the membrane reactor performance in adiabatic conditions (red lines) and with the heat management strategy proposed in this work (black
lines), in terms of: a) temperature profile in the reaction zone and b) DME yield (solid line) and CO yield (dashed line). The membrane reactor operating conditions
are reported in Table 6. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)

This temperature profile leads to greater CO yield, as shown in Fig. 10b
(i.e., CO yield increases from 0.05 to 0.43, whilst DME yield decreases
from 0.63 to 0.26).

4. Conclusions

This work demonstrates the possibility of upgrading CO, for the
production of dimethyl ether, which is an attractive alternative fuel with
low environmental impact. We developed a non-isothermal 1D
phenomenological reactor model to evaluate and optimize the perfor-
mance of a membrane reactor for this conversion, otherwise limited by
thermodynamic equilibrium and temperature gradients. We first
showed the credibility of the modelling approach, by reproducing
experimental results retrieved from literature. Afterwards, we studied
the effect of the membrane properties on the reactor performance and
accordingly identified a suitable membrane material for this process. We
conclude that the optimal membrane for this process should have a
water permeance of c.a. 41077 molPa'm~2s7!, a water perm-
selectivity of 50 towards Hj, 30 towards CO, and CO, 10 towards
methanol and a very large perm-selectivity toward DME, so that its
permeation may be neglected. Among the available membrane
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materials, zeolites show suitable performance, but may pose stability
problems under reaction conditions. Carbon membranes, on the other
hand, seem promising.

The circulation of a sweep gas (SW = 20) in cocurrent mode proved
an effective strategy to minimize hot spots and temperature gradients as
well as to enhance water removal while avoids water back permeation.

We underlined the importance of the heat integration in this process,
where temperature gradients could enormously affect the product dis-
tribution, moving the reactions toward undesired pathways (i.e., pro-
duction of CO).

The SW ratio showed a higher influence on the reactor performances
than the gradient of the total pressure (AP), lowering the demands on
the membrane mechanical stability. We also showed that the integration
of a membrane for the selective water removal in a conventional packed
bed reactor lowers the Hy requirement that maximizes the DME yield,
which is key for the industrial attractiveness of the process. With optimal
membrane properties and optimal process conditions, the membrane
reactor technology shows its potential to overcome the severe thermo-
dynamic limitations of this process. In particular, if 96% of the water
produced by the reactions is removed, the CO5 conversion and DME
yield show an improvement of 36% and 43% each, with respect to a
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conventional packed bed reactor working at the same operating condi-
tions (i.e., 200 °C and 40 bar).

Our results show the possibility to easily integrate this reactor in a
conventional process scheme, since the sweep gas does not require
complex post processing units in order to be recirculated in the
permeation zone.
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