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Het begin van wijsheid is dat je wijsheid zoekt, 
aan alles wat je hebt verworven, inzicht toevoegt. 
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Summary 
Liquid-liquid processes in spinning disc equipment 

Liquid-liquid processes are widely encountered in chemical industry and can be 
divided in liquid-liquid reactions and liquid-liquid extractions. This thesis describes the 
research and development program leading to novel and compact equipment for 
liquid-liquid processes, which is based on spinning disc technology. In this equipment 
two immiscible phases are contacted, either in co-current mode or in counter-current 
mode.  

Spinning disc technology utilizes high-gravity, high-shear conditions, and is known for 
its high gas-liquid, liquid-liquid, and liquid-solid mass transfer rates. Because of its low 
surface area, the equipment could be coated with materials suited for strong corrosive 
environments, like titanium, platinum, and tantalum. Also, the low volume allows one 
to rapidly change the product stream without losing valuable time for equipment 
cleaning. Last, the required floor space is reduced. 

Liquid-liquid extraction is a purification technique based on the distribution of a solute 
over two immiscible liquid phases. It is used in many processes in the chemical 
industry. Most industrial extractions are performed in counter-current operated 
extraction columns. When operated in counter-current mode, multiple stages of 
consecutive mixing and separation are applied. By operating the column in counter-
current mode, it becomes possible to transfer the solute almost completely from one 
liquid to the other. When the density difference between the liquids is small, the 
required extractor length is increased. As a result, industrial used extraction columns 
may have inventories up to 700 m3 and processing times in the range of hours. 
Centrifugal extractors were developed to reduce the inventory volume and residence 
time.  

In this thesis, first a reactor model is presented for the single phase fluid flow in a 
rotor-stator spinning disc reactor. This reactor model is based on residence time 
distribution (RTD) measurements which are obtained as a function of the rotor-stator 
distance, rotational speed and the volumetric flow rate. For the RTD measurements 
water soluble ink is injected pulse wise at the reactor inlet. The RTD can be described 
by a plug flow model in combination with 2 to 3 ideally stirred tanks-in-series. 

Next, the single phase study is extended to a multiphase study in which two 
immiscible liquids, n-heptane and water, are contacted in a rotor-stator spinning disc 
reactor. The volume fractions are measured using γ-ray tomography and photographic 
image analysis as a function of rotational disc speed, flow ratio, position in the reactor, 
and rotor material.  



Summary 

                                                                       

 

The volume fraction of n-heptane is close to the ratio of the n-heptane volumetric 
flow rate to the total volumetric flow rate, for rotation speeds ranging from 0-1600 
RPM.  

With the volume fractions known, the liquid-liquid mass transfer rates are measured in 
a rotor-stator spinning disc reactor. For this purpose, benzoic acid is extracted from n-
heptane to water. The liquid-liquid mass transfer rate increases from 0.2 m³ORG m-3R   
s-1 at 100 RPM, to 51.5 m³ORG m-3R s-1 at 1600 RPM. This is at least 25 times higher 
compared to those in packed columns, and 15 times higher compared to those in state 
of the art microchannels.  

Next, the liquid-liquid flow in an impeller-stator spinning disc reactor is studied. For 
this purpose water and n-heptane are contacted as a function of the rotational speed 
and the volume fractions, and is characterized by six different flow regimes. The 
impeller is able to selectively pump n-heptane through the reactor, whilst it is 
intensively mixed with water that remains in the reactor.  

Based on the results discussed above, a counter-current operated spinning disc 
extractor is presented. This extractor is based on rotor-impeller-rotor spinning disc 
technology and processes up to 5 m³ liquid per day. The mixing intensity and the 
separation efficiency of the extractor can be chosen independently by adjusting the 
rotation speed of the impeller and of the enclosure. The height of a transfer unit, and 
thus the extractor volume, is ten times lower compared to other types of centrifugal 
extractors.  

In the final chapter of this thesis, the single stage spinning disc extractor is extended 
with two additional stages. The separation efficiency at the extractor outlets, and the 
separation between the consecutive stages are determined.  

As a result of the chapters above, a promising alternative for liquid-liquid extraction 
equipment is presented in this thesis. The mixing intensity in the extractor is tuned 
independently of the separation efficiency, by adjusting the rotation speed difference 
between the impeller and the enclosure. The extractor has a low volume per stage (102 
10-6 m3 per stage), high separation efficiency (>99.9%), and can be extended to 71 
consecutive contacting stages per meter.  



 

Samenvatting 
Liquid-liquid processes in spinning disc equipment 

Vloeistof-vloeistof processen komen veel voor in de chemische industrie, en kunnen 
worden onderverdeeld in vloeistof-vloeistof reacties en vloeistof-vloeistof extracties. 
In dit proefschrift staat het onderzoek naar een nieuw compact apparaat beschreven 
dat is gebaseerd op spinning disc technologie. In het apparaat kunnen twee niet 
mengbare vloeistoffen zowel in meestroom als in tegenstroom worden gemengd.  

Spinning disc technologie maakt gebruik van een hoge afschuifspanning en een hoog 
krachtenveld om de vloeistof-vloeistof menging te intensiveren. Door het lage 
extractorvolume kunnen constructiematerialen worden toegepast die geschikt zijn 
voor zeer corrosieve omstandigheden. Daarnaast maakt deze extractor het mogelijk 
om snel van voedingsstroom te wisselen zonder dat er tijd verloren gaat in het reinigen 
van de extractor. Ten slotte neemt het benodigde vloeroppervlak af op de 
productielocatie waar het apparaat is geplaatst. 

Vloeistof-vloeistof extractie is een zuiveringstechniek, die gebaseerd is op de verdeling 
van een opgeloste component over twee niet-mengbare vloeistoffen. De techniek 
wordt in diverse sectoren van de chemische industrie toegepast. Veel industriële 
extracties worden uitgevoerd in tegenstrooms bedreven extractiekolommen. Bij een 
tegenstroomsextractie worden meerdere seriële extractietrappen toegepast, waarbij in 
elke trap de vloeistoffen intensief worden gedispergeerd en gescheiden. Door de 
vloeistoffen in tegenstroom te contacteren kan een component tussen de twee 
vloeistoffen volledig worden uitgewisseld. Wanneer het dichtheidsverschil tussen de 
vloeistoffen gering is neemt de benodigde extractorlengte toe. Dergelijke kolommen 
kunnen daardoor een volume hebben van 700 m3 en een verblijftijd van enkele uren. 
Centrifugaalextractoren zijn ontwikkeld om het extractorvolume en de verblijftijd 
daarin te verkleinen.  

Dit proefschrift beschrijft een model van het vloeistofgedrag van één vloeistoffase in 
een rotor-stator spinning disc reactor (SDR). Dit model is gebaseerd op metingen van 
de verblijftijdsspreiding (RTD). De RTD is gemeten als functie van de afstand tussen 
de rotor en de stator, de rotatiesnelheid, en het vloeistofdebiet. De RTD metingen zijn 
uitgevoerd door pulsgewijs wateroplosbare inkt te injecteren. De RTD in de reactor 
kan worden beschreven als een propstroomvolume in combinatie met 2-3 ideaal 
geroerde volumes in serie. 
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Vervolgens beschrijft de volumefracties van water en n-heptaan in de SDR die zijn 
gemeten met behulp van γ-straaltomografie en fotografie. Water en n-heptaan zijn 
gebruikt als testsysteem. De volumefracties zijn bepaald als functie van rotatiesnelheid, 
vloeistofdebieten, positie in de reactor en het constructiemateriaal van de rotor. De 
volumefractie van n-heptaan is nagenoeg gelijk aan de verhouding tussen het n-
heptaan vloeistofdebiet en het totale vloeistofdebiet, voor rotatiesnelheden tot 1600 
RPM. 

Ook is de vloeistof-vloeistof-stofoverdrachtsnelheid in de SDR als functie van de 
rotatiesnelheid en het vloeistofdebiet bepaald. Deze is gemeten door benzoëzuur 
vanuit n-heptaan naar water te extraheren. De vloeistof-vloeistof-stofoverdracht-
snelheid neemt toe van 0.2 m³ORG m-3R s-1 bij 100 rotaties per minuut (RPM) naar 51.5 
m³ORG m-3R s-1 bij 1600 RPM. Deze stofoverdrachtsnelheid is 25 maal hoger dan de 
waarden uit de literatuur voor gepakte kolommen en 15 keer hoger dan de crème de la 
crème uit de microreactortechnologie. 

Daaropvolgend is het stromingsgedrag van water en n-heptaan in een impeller-stator 
spinning disc reactor beschreven als een functie van de rotatiesnelheid en de 
volumefractie van water. Het stromingsgedrag kan worden gekarakteriseerd door zes 
verschillende stromingsprofielen. Daarnaast wordt aangetoond dat een impeller-stator 
configuratie de mogelijkheid biedt om selectief n-heptaan door de reactor te laten 
stromen, terwijl er intense menging plaats vindt met water dat stationair in de reactor 
blijft. 

Hierna wordt op basis van de gepresenteerde resultaten een tegenstroom bedreven 
spinning disc extractor gepresenteerd. Deze extractor bestaat uit één rotor-impeller-
rotor combinatie, en kan tot 5 m³ vloeistof per dag verwerken. De vloeistof-vloeistof-
menging en de vloeistof-vloeistof scheiding kunnen onafhankelijk van elkaar worden 
ingesteld door de rotatiesnelheden van de rotor en de impeller te variëren. De hoogte 
van één extractietrap, en dus ook het extractorvolume, is tien keer lager in vergelijking 
met conventionele centrifugaalextractoren. 

Het laatste hoofdstuk beschrijft hoe de ééntrapsextractor uitgebreid kan worden met 
twee additionele extractietrappen. Zowel de scheidingsefficiency bij de uitgangen van 
de extractor, als de scheiding tussen de opeenvolgende extractietrappen is bepaald.  
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1. Introduction 

1.1. Chemical industry  
The world chemicals turnover was valued at 2744 billion euro in 2011 (CEFIC, 2012). 
The European Union contributes 20% to these global sales. Half of the expenditure in 
the European Union is due to polymers and petrochemicals (Figure 1). Most of these 

industrial processes are combinations of one or more reaction steps, with one or more 
purification steps.  

 

Figure 1. Percentage of European Union chemical industry sales per sector. Specialties 
involve amongst others auxiliaries for industry and paints & inks. Basic inorganics 
involve industrial gases, fertilizers and other inorganics (CEFIC, 2012). 

There is an urgent need in chemical industry to reduce the equipment volume by a 
factor 10-100; this need is commonly addressed as process intensification (Stankiewicz 
et al., 2000). Colin Ramshaw and co-workers were the first pioneers who envisioned 
the promising future that would originate from the implementation of process 
intensification (Reay et al., 2008). With a lower equipment volume the holdup of 
liquids, gases and solids in the reactor is smaller, which reduces the impact of potential 
escalation of dangerous situations. Also the volume reduction allows for the 
application of expensive coating materials, like platinum and tantalum. Mechanical 
agitation is often used to intensify chemical processes in which mixtures of gasses, 
liquids and solids are involved. The liquid-liquid, gas-liquid or liquid-solid mass 
transfer rate is increased if the energy dissipation due to mixing is increased.  

The research described in this thesis, is part of the “Smart Structured Rotating 
Reactors”–research program at the Eindhoven University of Technology. The aim of 
this program is the development of scientific and technological breakthroughs in the 
understanding, design and operation of equipment for the production of high-added 
value chemicals. The technological breakthroughs of this research program provide 
promising perspectives for greenification and intensification of chemicals production. 
Industrial chemical production becomes more flexible, using low volume equipment 
and will take place just-in-time and close to the raw materials origin or at the consumer 
site. 
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1.2. Liquid-liquid reaction 
Liquid-liquid reactions are widely encountered in chemical industry; examples of 
liquid-liquid reactions that are relevant on industrial scale are, e.g., the exothermic 
nitration of aromatic compounds (Zaldívar et al., 1996), the production of 
benzaldehyde, hydroformylation of propene and polymerization reactions like the 
Shell Higher Olefin Process (Wiseman, 1979). Equipment used for liquid-liquid 
processes, like stirred tanks and packed columns are space consuming, requiring a 
significant processing time, and involving severe safety challenges. Therefore 
equipment, in which liquid-liquid reactions are performed, needs to be intensified: a 
larger productivity is desired. Such a productivity increase can be obtained by 
increasing mass transfer rates for processes in which the mass transfer rate is limiting, 
which is the case for most liquid-liquid processes. The said process intensification can 
be achieved by applying mechanical agitation in existing equipment. Often, this leads 
to an increase of the liquid-liquid mass transfer rate and it allows one to prevent 
hotspot formation which is a common cause of reactor runaway and product 
degradation in chemical processes. 

1.3. Liquid-liquid extraction 
Liquid-liquid extraction (LLE) is a purification technique that is widely applied in 
chemical industry. It is used when other separation techniques are less suited, for 
example due to temperature sensitivity of the desired product, or when a high boiling 
component is present in small quantities in a waste stream. LLE is based on the 
distribution of a solute over two immiscible liquid phases. Intimate contacting of a 
solute-rich phase (the feed) with a solute-free phase (the solvent) yields two product 
streams. The solvent is enriched with the solute (the extract), and the feed solution is 
impoverished with solute (the raffinate), as is shown in Figure 2.  

Applications of LLE are found in the petrochemical industry (e.g. to separate aliphatic 
and aromatic product streams (Ali et al., 2003)), in polymer manufacturing (e.g. in the 
production process of nylon-6 (Alessi et al., 1997)), and in the pharmaceutical industry 
(e.g. for the production of penicillin (Likidis et al., 1987, Eisenlohr, 1951)). In the early 
19th century, Friedrich Sertüner used LLE to obtain morphine (Klockgether-Radke, 
2002). At that time LLE was executed batch wise, i.e. over a repetitive sequence of 
mixing and separation steps that is shown in Figure 2. In each contacting stage the 
solute partitions over the two liquid phases: the solute concentration in the feed 
solution is decreased and the solute concentration in the solvent is increased. 

Ideally, the solute concentrations in both phases are in equilibrium after each 
contacting step. This is only valid when the liquid-liquid mass transfer rate is high 
enough at the given residence time.  
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When these premises are fulfilled, the solute can be almost completely transferred 
from the feed to the extract after multiple consecutive steps of mixing and separation. 
LLE is nowadays performed in gravity driven, continuously operated equipment 
(Míšek, 1994). Both co-current and counter-current operation is possible (Figure 3 

and Figure 4).  

 

Figure 2. Principle of single stage extraction between an organic phase (Feed, red) and 
an aqueous phase (Solvent, blue). The organic phase has a high initial solute 
concentration. The aqueous phase is initially solute-free. The solute is transferred from 
the organic phase to the aqueous phase during intimate contacting. 

 

Figure 3. Schematic representation of co-current (A) and counter-current (B) extraction. 

 

Figure 4. Co-current and counter-current liquid-liquid extraction. In this counter-current 
example, the solute is transferred almost completely from the solute rich phase (aqueous) 
to the organic solvent. The partition coefficient of the solute over the two liquids is 
assumed to be unity, and the concentrations are dimensionless. 
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When the extraction is operated in counter-current mode, there is a crossover of the 
solute between two liquids that are flowing in opposite directions. The solute can 
transfer almost completely from the feed solution to the solvent. When an extractor is 
operated in co-current mode, the solute concentration in both phases reaches 
equilibrium. The difference in the experimental procedure between co-current and 
counter-current extraction is shown in Figure 3. The concentration profiles of the 
extract and the raffinate are shown in Figure 4. 

1.4. Liquid-liquid extraction equipment 
Liquid-liquid extractors can be classified in static columns, rotary-agitated columns, 
pulsed columns, reciprocating-plate columns, centrifugal extractors, and mixer-settlers 
(Hashtochahar et al., 2010, Frank et al., 2012, Godfrey et al., 1994). Static columns 
have a low liquid-liquid mass transfer rate and as a result also a low efficiency: only 
low amounts of solute can be transferred in these columns. They are used in chemical 
industry when only a few contact stages are needed. Their main benefit is their low 
costs and their simplicity. Examples of the static columns are spray columns (Keith et 
al., 1955), packed columns (Varteressian et al., 2002), and sieve tray columns (Krishna 
et al., 2002). In spray columns the continuous phase circulates, while the dispersed 
phase is fed counter-currently by means of a nozzle or by means of perforated plates 
in series. Spray columns have a higher liquid-liquid mass transfer rate than other static 
columns, but have a lower efficiency because the continuous phase suffers of 
excessive back mixing (Horvath et al., 1978, Seibert et al., 1988, Kumar et al., 1999). 
Also the nozzles in the spray column entail a significant pressure drop (Trambouze et 
al., 2002).  

Extensive research has been performed in the field of packed liquid-liquid extraction 
columns (Kumar, 1994). Packed columns are equipped with either a random or 
structured packing. The interaction between the liquids and the packing is responsible 
for coalescence and redispersion effects. Because of the packing, the back mixing 
effects that are encountered in spray columns are much smaller. In packed columns 
the preferential wetting of the packing is important. If the dispersed phase wets the 
packing, a thin film flow of the dispersed phase over the packing is present. If the 
continuous phase wets the packing, the dispersed phase will flow as droplets or 
rivulets over the packing. Packed columns typically can have a capacity up to 50 m³liquid 
m-2extractor h-1 (Frank et al., 2012). Sieve tray columns also have a capacity of 50 m³liquid 
m-2extractor h-1 (Frank et al., 2012). In sieve tray columns the liquid with the higher 
density flows to the bottom of the extractor across each tray and through the down 
comers from tray to tray.  
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The liquid with the lower density is dispersed by the perforations in each tray, and 
flows through the liquid with the higher density in the form of drops, enters into a 
flocculation zone, and subsequently coalesces such that it accumulates under each tray 
(Rocha et al., 1989b, Rocha et al., 1989a, Krishna et al., 2002). Examples of the 
agitated columns are Scheibel columns (Bonnet et al., 1985), Kuhni-columns (Gomes 
et al., 2009), Oldshue-Rushton columns (Gutoff, 1965), or rotating disc contactors 
(Al-Rahawi, 2007, Trambouze et al., 2002). These columns are shown in Figure 5.  

  

Figure 5. Industrial applied agitated extraction columns: (A) Scheibel column, (B) Kuhni 
Column, (C) Oldshue-Rushton column, and (D) Rotating disc contactor. 

The first design of the Scheibel column consisted of multiple knitted wire-mesh 
packed sections and an impeller which is rotating around a centered shaft between 
each packed section (Scheibel et al., 1950). In a later version, flat baffles were added to 
the end of each knitted wire mesh section. Simultaneously, the impellers were 
surrounded by stationary shroud baffles (Scheibel, 1956). Because the wire mesh 
packing is prone to fouling, the packed sections were replaced by agitated sections in a 
third version.  

The Scheibel column is shown in Figure 5A, and has a maximum capacity of 25 
m³liquid m-²extractor h-1 (Frank et al., 2012). The Kuhni column uses shrouded turbine 
impellers as mixing elements on a central shaft (Figure 5B). Perforated stator rings are 
used to separate the extraction stages and to reduce back mixing between stages. 
Kuhni columns have a typical rotational speed of 10-100 RPM and a maximum 
capacity of 40 m³liquid m-²extractor h-1, although much larger columns are applied for 
dedicated applications. In chemical industry, often the exact geometry of the impeller, 
the stator rings, and the perforation is changing with the column height because the 
interfacial tension can vary significant along the column height (Frank et al., 2012, 

Kumar et al., 1999, Dongaonkar et al., 1991).  
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The Oldshue-Rushton Column (ORC, Figure 5C) and the Rotating Disc Contactor 
(RDC, Figure 5D) have a similar structure. Each contacting stage in the column 
consists of horizontal doughnut-shaped baffles, and within each compartment in the 
middle of the column a disk is mounted. The rotating disk is flat and has a diameter 
which is smaller than the central opening in the stationary baffles. The ORC has a 
height/diameter ratio of the compartments which is larger than the RDC. Also, in the 
ORC each compartment is equipped with vertical baffles. The ORC can handle solids. 
With a decreasing density difference between the two liquids, the extractor length 
required to obtain an almost complete crossover of the solute is increased. As a result, 
on an industrial scale, extraction columns may have volumes up to 700 m³ 
(Trambouze et al., 2002). Because liquid-liquid extraction often involves liquids with a 
low vapor pressure the large inventory volume induces safety challenges. Also, a large 
inventory volume results in large floor space requirements. 

1.5. Centrifugal extractors 
Centrifugal extractors were developed to reduce the equipment volume by a factor 
100, reduce the processing time accordingly and to enhance the separation efficiency 
(Gebauer et al., 1982). This is especially the case for liquids with a low density 
difference. In centrifugal extractor the settling effect of a density difference is 
multiplied by the centrifugal force. Examples of such extractors are the Podbielniak 
extractor (Barson et al., 1953, Podbielniak et al., 1959), the annular centrifugal 
extractor (Deshmukh et al., 2007), and the Westfalia/Luwesta extractor (Likidis et al., 
1989). An introduction on a wide range of centrifugal extractors is presented 
elsewhere (Gebauer et al., 1982, Blass, 1994). The Podbielniak extractor allows one to 
perform counter-current extraction and is shown in Figure 6 (Barson et al., 1953, 

Podbielniak et al., 1959). The Podbielniak extractor consists of a cylindrical drum 
which is rotating around a horizontal shaft. Multiple concentric cylindrical shells are 
mounted adjacent to the rotating drum. The liquid phase with the higher density is fed 
through the central shaft. As a result of the centrifugal force and density difference, 
the liquid phase with the higher density is forced radially outwards to the rim of the 
drum. Simultaneously, the liquid phase with the lower density is fed to the extractor at 
the rim of the rotating drum and flows radially inwards. Because of the internal 
cylindrical shells, multiple consecutive coalescing and dispersion steps are achieved 
(D.B.Todd et al., 1965). The smallest Podbielniak extractor that is commercially 
available is the so-called “babypod” (type A1) and has a maximum volumetric flow 
rate of 0.03 m³ hr-1 (Frank et al., 2012), an inner diameter of 0.30 m, a maximum 
rotation speed of 10.000 RPM and an extractor volume of 0.6 10-3 m³ (Gebauer et al., 
1982). The largest Podbielniak commercially available (type E-48) has a maximum 
volumetric flow rate of 113.5 m3 hr-1, an inner diameter of  1.2 m, a maximum 
rotational speed of 1600 RPM, and an extractor volume of 0.925 m³ (Frank et al., 
2012).  
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Figure 6. 3D-sideview of the Podbielniak extractor (courtesy of Perking Elmer).  

A schematic side view of the annular centrifugal extractor (ACE) is shown in Figure 

7. An excellent review on the ACE has been published elsewhere (Vedantam et al., 
2006). The ACE consists of two coaxial cylinders in which the outer one is stationary 
and the inner cylinder is rotating. In the extractor mixing takes place in the volume 
between the inner cylinder and the outer cylinder. Inside the inner cylinder weirs are 
present which allow for the selective collection of liquids phases (Schuur et al., 2012). 
Multistage extraction can only be achieved in these extractors by combining various 
rotor-stator units. The ACE has been used for extraction, emulsion polymerization 
(Imamura et al., 1993), monodispersed silica particle synthesis (Ogihara et al., 1995), 
heterogeneous catalysis (Sczechowski et al., 1995), and bio catalytic reactions (Kraai et 
al., 2008). The ACE is commercialized by e.g. Costner Industries Nevada Corporation 
(CINC) Inc. 

 

Figure 7. Schematic diagram of the annular centrifugal extractor (Xu et al., 2006). 
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Rousselet-Robatel has developed single-stage and multistage centrifugal extractors 
(Miachon, 1980, Buffet, 1981). The multistage extractor is produced for pilot scale and 
industrial scale. Up to 7 stages can be installed in a single multistage extractor. Each 
contacting stage consists of a mixing chamber and a decantation chamber; with inter 
stage counter-current liquid flow. The centrifuge consists of a stationary central axis 
which is enclosed by a rotating bowl. The rotor-stator configuration is enclosed by a 
stationary bowl. The high difference in rotational speed between the stationary 
agitation disc and the rotating walls of the mixing chamber creates a dispersion in 
which the high interfacial area allows one to achieve high mass transfer rates.  

In the Rousselet-Robatel design, increasing the rotational speed will thus influence 
both the separation efficiency at the extractor outlets and the mixing intensity. The 
smallest multistage extractor (type LX124) is equipped with 4 consecutive contact 
stages, has a maximum volumetric flow rate of 30 10-3 m³ hr-1, and a maximum 
rotational speed of 3600 RPM. The largest multistage extractor (type LX576) is 
equipped with 6 contacting stages, has a maximum volumetric flow rate of 6.0 m³ hr-1, 
and has a maximum rotational speed of 2000 RPM (Gebauer et al., 1982, Rousselet 
Robatel, 2013).  

More extractors exist which are not discussed here because they are not widely used in 
industry (anymore): The Craig apparatus (Craig et al., 1949) and the Graesser Raining 
bucket extractor (Coleby, 1962); a more recent innovation is the Coflore extractor 
(Jones et al., 2012). Also a counter-current operated combination of micro reactors is 
used to achieve liquid-liquid extraction (Gaakeer et al., 2012, Kashid et al., 2007b).  

1.6. Extractor comparison 
Comparison of liquid-liquid extractors is an intricate task. Stichlmair made a 
comparison for liquid-liquid extraction columns which is shown in Figure 8 
(Stichlmair, 1980). In the publication centrifugal extractors were not taken into 
account. The capacity of the extraction columns, shown in Figure 8 is defined as 
m³LIQUID m-2AREA h-1. The area is calculated from the column diameter. The capacity 
thus increases with decreasing column diameter, at a given volumetric flow rate.  

The Stichlmair plot does not include the extractor residence time, or the energy 
dissipated in the extractor. Energy can be dissipated in liquid-liquid extraction columns 
by the rotational shaft, pulsating engine, or by the pumps that force fluids through the 
columns. In general, for centrifugal extractors the energy dissipation is higher. The 
number of contacting stages per meter of extractor length is plotted versus the 
maximum power consumption of the centrifugal extractor motor  in Figure 9.  
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Figure 8. Stichlmair plot, which shows the number of efficiency stages per meter versus 
the capacity. Only liquid-liquid extraction columns are shown in the initial publication 
(Stichlmair, 1980). 

In Figure 9, data from the Podbielniak extractors is taken from (Frank et al., 2012), 
Data on ACE extractors (from CINC Inc.) is taken from (Schuur et al., 2012), and 
data for the Rousselet-Robatel extractor is taken from the manufacturer (Rousselet 
Robatel, 2013). The most suited extractor for a given test case will depend on the 
required residence time, the settling characteristics of the dispersed phase (surface 
tension, viscosity), the required scale (volumetric throughput), and the number of 
contact stages required.  

 
Figure 9. The number of contacting stages per meter of extractor length is plotted versus 
the maximum power consumption of the centrifugal extractor motor. 
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1.7. Spinning disc equipment  
Three types of spinning disc reactors have been developed. The first type is the so-
called free-disc-type. In these reactors a disc is rotating inside a vessel. Rotation of the 
disc induces recirculation of the liquid, and enhances the mass transfer rates 
(Schlichting et al., 1999).  

The second type is the so-called thin-film spinning disc. In this reactor a liquid is fed 
at the center of a rotating disc. Due to the rotation, the liquid is forced radially 
outwards as a thin liquid film. The main principle of this reactor was patented in 1927 
(Buhtz, 1927). High gas-liquid, liquid-solid, and heat transfer rates are reported (Burns 
et al., 2005, Jachuck et al., 2005). This reactor has been used for polymer processing 
and pharmaceutical production (Boodhoo et al., 2000, Pask et al., 2012, Oxley et al., 
2000). 

The third type of spinning disc reactor, the rotor-stator spinning disc reactor (SDR), is 
known for its excellent mixing capability (Meeuwse et al., 2010b, Meeuwse et al., 
2010a). In the SDR a rotating disc (rotor) is mounted near a stationary disc (stator) 
(Figure 10). Typically the axial distance is 1 10-3 m. Upon rotation of the rotor, the 
difference in rotational speed between the rotor and the stator induces a velocity 
gradient that results in a shear force that acts on the droplets, bubbles or particles 
between the rotor and the stator. Accordingly, an increase of the rotational speed 
yields an increase of the shear force and thus of the mixing intensity. As a result, the 
gas-liquid and liquid-solid mass transfer rates in the SDR are higher than for other 
chemical reactors like e.g. bubble columns (Meeuwse et al., 2010b, Meeuwse et al., 
2010a).  

 

Figure 10. The side view of the rotor-stator spinning disc reactor. Rotation of the rotor 
induces a velocity gradient between the rotor and the stator. As a result a shear force acts 
on the droplets, bubbles or particles between the rotor and the stator. This results in high 
gas-liquid and liquid-solid mass transfer rates. Typically, the axial distance between the 
rotor and the stator equals 1 10-3 m, and the rotor diameter is below 0.135 m. 
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The volumetric gas-liquid mass transfer coefficient in the case of a 0.135 m rotor is 3 
times higher than in case of a 0.066 m wide rotor. The energy dissipation is a factor 8 
higher (Meeuwse et al., 2012). Therefore the scale up of a rotor-stator spinning disc 
reactor is preferentially done via stacking of single stage rotor-stator units in series on 
a single shaft (Meeuwse et al., 2012). 

1.8. The scope and structure of this thesis 
The research described in this thesis is carried out within the “Smart Structured 
Rotating Reactor”-program at the Eindhoven University of Technology. This program 
has received funding from the European Research Council under the European 
Community's Seventh Framework Programme (FP7/2007-2013) / ERC grant 

agreement n° 227010.  

The objective of this thesis is to develop novel compact rotating equipment in which 
two immiscible liquids are intensely contacted over multiple stages. The targeted 
volume reduction of the equipment is at least two orders of magnitude in comparison 
with classical equipment. This research has a focus on the application of centrifugal 
high-shear high-gravity conditions to obtain the said process intensification. The high-
shear high-gravity conditions are investigated for liquid-liquid processes in both the 
rotor-stator and rotor-rotor multiple spinning discs equipment.  

Chapter 2 presents a reactor model for the single phase flow in a rotor-stator spinning 
disc reactor. This reactor model is based on residence time distribution (RTD) 
measurements. Chapter 3 expands the single phase study to a multi-phase study; it 
describes the volume fractions of water and n-heptane in a rotor-stator spinning disc 
reactor, which are measured using γ-ray tomography and photographic image analysis. 
With these volume fractions known, the liquid-liquid mass transfer rates in a rotor-
stator spinning disc reactor are presented in Chapter 4. The liquid-liquid mass transfer 
rates are measured from the extraction of benzoic acid between n-heptane and water. 
In Chapter 5, the rotating solid disc is replaced with an impeller. The liquid-liquid 
flow behavior in an impeller-stator spinning disc reactor is presented. Also the 
requirements for the selective through flow of n-heptane through the reactor are 
discussed. Chapter 6 presents a single stage spinning disc extractor that is based on 
rotor-impeller-rotor technology and processes up to 5 m³ liquid per day. Chapter 7 

presents a method to scale-up the single stage extractor with two additional contacting 
stages. The separation efficiency at the extractor outlets and the separation between 
the consecutive stages are determined. Chapter 8 presents a summary of the main 
conclusions from the above mentioned chapters and recommendations for further 
research. 
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2. Residence time distribution in a  

rotor-stator spinning disc reactor 
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Visscher F., de Hullu, J. van der Schaaf, J., de Croon, M.H.J.M., Schouten, J.C., 
“Single phase residence time distribution in a rotor-stator spinning disc 

reactor”, AIChE Journal, 2013, 59 (7), pp. 2686-2693. 
   

Abstract 
This chapter describes a reactor model for the single phase rotor-stator spinning disc 
reactor based on residence time distribution measurements. For the experimental 
validation of the model the axial clearance between the rotor and both stators is varied 
from 1.0·10-3 to 3.0·10-3 m, the rotational disc speed is varied from 50 to 2000 RPM, 
and the volumetric flow rate is varied from 7.5·10-6 to 22.5·10-6 m³ s-1. Tracer injection 
and response experiments show that the residence time distribution can be described 
by a plug flow model in combination with 2 to 3 ideally stirred tanks-in-series. The 
resulting reactor model is explained with the effect of turbulence, the formation of 
von Kármán and Bödewadt boundary layers, and the effect of the volumetric flow 
rate. 
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2.1. Introduction 
Numerical characterization of the macro-mixing behavior in chemical reactors can be 
made when the residence time distribution (RTD) in the reactors is known (Nauman, 
2004). The RTD can be determined from tracer injection and response experiments 
(Levenspiel, 1999, Thyn et al., 2004, Rothfeld et al., 1963, Anderson, 2012, 

Danckwerts et al., 1954, Danckwerts, 1953), and has been characterized for different 
reactors like microchannel reactors (Thulasidas et al., 1999), foam packed trickle flow 
reactors (Saber et al., 2012), annular centrifugal extractors (Deshmukh et al., 2008), 
and the rotating disc reactor (Jin Kim et al., 1984). In this chapter a single phase model 
for a rotor-stator spinning disc reactor (SDR) is presented which is based on residence 
time distribution measurements. The SDR consists of a rotating disc (rotor) with two 
stationary discs (stators). The rotor and stators are located at low axial clearance, 
typically in the range of millimeters. The configuration is schematically shown in 
Figure 1.  

 

Figure 1. Schematic side view of the rotor-stator spinning disc reactor. The reactor 
volume equals 167·10-6 m³ at h=1.0·10-3 m, 299·10-6 m³ at h=2.0·10-3 m and 431·10-6 m³ at 
h=3.0·10-3 m. The rotor radius equals 0.132 m. 

Due to the difference in rotational disc speed, a velocity gradient is present between 
the rotor and the stators, causing a high shear force to act on the fluid between the 
rotor and stators. For liquid-liquid, liquid-solid, and gas-liquid mixtures, this results in 
a large interfacial area and an increase of the turbulence intensity, which yields mass 
transfer rates up to 20 times higher than those measured for conventional multiphase 
reactors (Meeuwse et al., 2010a, Visscher et al., 2012d, van der Schaaf et al., 2011, 

Meeuwse et al., 2011, Meeuwse et al., 2010b, Visscher et al., 2012b). The gas-liquid 
mass transfer rate was described by a model which is based on a combination of 
ideally stirred tanks and plug flow (Meeuwse et al., 2009). Multiple discs were mounted 
on a single rotational axis in order to obtain ideally stirred tanks in series, which 
ultimately will lead to more plug flow behavior of the fluid flow in the reactor 
(Meeuwse et al., 2012, Danckwerts, 1953). Therefore this reactor is a promising tool to 
achieve process intensification goals, e.g. realize a reduction of equipment volume, 
enhance volumetric productivity, and increase of mass transfer rates in continuous 
flow reactors.  



Experimental section

 

15 

This chapter presents the residence time distribution in the rotor-stator spinning disc 
reactor as a function of the rotational disc speed, axial disc spacing, and the volumetric 
flow rate. Based on the RTD measurements, a single phase reactor model is described 
as the combination of a plug flow model and a number of tanks-in-series. With the 
RTD known, the feasibility of industrial implementation can be evaluated 
(Mohammadi et al., 2012). 

2.2. Experimental section 
2.2.1. Materials 

Demineralised water was used for all experiments.  The water was demineralized with 
a Millipore Elix UV-10. Pelikan® Royal Blue fountain pen ink was used as a tracer for 
the water phase and supplied by BETO Schoolartikelen. All experiments were 
performed at ambient lab temperature, 292 ± 2 K.  

2.2.2. Experimental set-up 

The rotor-stator spinning disc reactor was previously described by Meeuwse et al., 
(Figure 1) (Meeuwse et al., 2011). The stationary reactor wall has an inner radius of 
0.145 m. The top stator and the rotor are made of stainless steel. The bottom stator is 
made of poly(methyl methacrylate) (PMMA) for visualization purposes. The rotor is 
made of stainless steel and has an outer radius of 0.135 m and a thickness of 4·10-3 m. 
The spacing between the rotor and the stators, further denoted as disc spacing, is 
equal for the top and bottom stator and can be adjusted by changing the height of the 
stators. The applied disc spacings are h=1.0·10-3 m, h=2.0·10-3 m, and h=3.0·10-3 m. 
The rotational disc speed ranged from 50 to 2000 RPM. The water flow rate, Q, 
ranged from 7.5·10-6 m3 s-1 to 22.5·10-6 m3 s-1, and was controlled by a CORI-FLOW® 
M55 mass flow controller from Bronkhorst®. All operational data were acquired 
through LabView 9. The heat dissipated due to the shear forces in the reactor was 
removed by precooling the water, using a Lauda WKL-1200 cooling system with 
ethylene glycol as coolant. The complete set-up is schematically shown in Figure 2.  

2.2.3. Tracer 
Ink was injected by a 25·10-6 m3 Cetoni® Nemesys Syringe pump, through a ¼” 
Swagelok® T-piece at 70·10-3 m from the reactor inlet. At 30·10-3 m after the injection 
point a ¼” stainless steel in-line UV-VIS flow cell from Avantes® was connected, with 
an optical path length of 5·10-3 m. At 30·10-3 m below the reactor outlet a ½” in-line 
flow cell from Avantes® was connected with an optical path length of 10·10-3 m. A 
dual channel AvaSpec-2048-USB2 UV-VIS spectrophotometer was used, which was 
equipped with an AvaLight-DH-S light source. Lamp, spectrofotometer and flow cells 
were connected through 600·10-6 m diameter fibers, with a solar resistant coating. The 
total volume of the inlet and outlet tubing is equal to 4.3·10-6 m³ s-1. The absorbance 
of the Pelikan Royal Blue ink was measured at 306 nm. A calibration curve was made 
to ensure that linear range of Lambert-Beer’s law was obeyed. 
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Figure 2. Experimental set-up with all additional equipment. All tubing is made out of 
¼” Swagelok tubing. All operational data is controlled and monitored through a 
LabView® application. Data work up is done through MatLab®.  
The applied pulse (injected volume 50·10-9, 100·10-9, and 200·10-9 m³, and injection 
rate 50·10-9, 100·10-9, and 200·10-9 m³ s-1), were examined to ensure reproducible 
injections with an optimal Dirac character, in which peak tailing was minimized. All 
tracer injections were performed by injecting 200·10-9 m³ ink at 200·10-9 m³ s-1.  

The tracer injection took place over a period which is short compared with residence 
times of the reactor, i.e. less than 4%. At each experimental condition two successive 
injections were performed. Data from successive measurements was collected through 
LabView® every 0.50 seconds during the period of successive measurements, and 
analyzed using MatLab®. A standard MatLab® routine was used to separate successive 
measurements, which separates measurements based on a minimal time difference 
between peaks, minimum height difference in peaks, and a minimum height between 
peaks. Equation (1) shows how the residence time distribution function, E(t), is 
calculated from the tracer concentration at the reactor outlet.  

 

0

C(t)
E(t)=

 C(t) dt
∞

∫
 (1) 

The integral in the denominator of equation (1) is calculated through trapezoidal 
numerical integration. The limits of the integration interval are deduced from the 
maximum absorbance and the average base line absorbance of the outlet signal.  
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The integration interval is calculated for each separate measurement. The lower 
integration limit of the integral in equation (1) is given by the last time step before the 
maximum absorbance in the outlet signal, at which the absorbance is equal to the 
average baseline absorbance.  

The upper integration limit is given by the first time step after the maximum 
absorbance in the outlet signal is detected, at which the absorbance is at the baseline 
absorbance. When the integration interval exceeds 6 times the residence time (τ = 
VR/Q), the measurement is discarded to prevent tailing dominated measurements 
(Torres et al., 1998, Boskovic et al., 2008, Cengroš et al., 1995, Martin, 2000). Less 
than 2% of the measurements were discarded. 

2.3. Results and discussion 
2.3.1. Tracer detection 

Between two injections, at least 10 seconds of steady state signal at the absorbance 
baseline level was awaited, to ensure a good distinction between the consecutive 
measurements. The measured absorbance at the inlet and outlet is given in Figure 3.  

The injection of the tracer causes a sharp increase of the tracer concentration at the 
reactor inlet. Only one peak is observed after tracer injection, thus channeling is 
absent. From Figure 3 it is concluded that the reactor can be modeled as a plug flow 
volume in combination with a mixed volume.  

The plug flow volume is further denoted as VPFR, the mixed volume as VCSTR. The 
corresponding residence times equal τPFR (= VPFR Q-1) and τCSTR (= VCSTR Q-1), 
respectively. The residence time of the plug flow volume, τPFR, is calculated from the 
difference between the points in time at which the tracer is first detected at the reactor 
inlet and outlet, respectively.  

2.3.2. Plug flow volume 
The SDR can be modeled as a combination of a plug flow volume with a mixed 
volume, as is shown in Figure 4A. VPFR originates from the volume of the reactor 
where the radial liquid velocity profile between the rotor and the stator is dominated 
by the through flow of the liquid phase. The transition is shown in Figure 4B. When 
the through flow is dominating the velocity profile, in laminar conditions the radial 
liquid velocity profile has a parabolic shape over the height between the rotor and the 
stator. This is shown in Figure 4C.  

VPFR is shown as a function of the rotational disc speed, for the measurements at 
h=1.0·10-3 m in Figure 5A. For all investigated flow rates, i.e. 7.5·10-6 m3 s-1, 15.0·10-6 
m3 s-1, and 22.5·10-6 m3 s−1, it is decreasing with the rotational disc speed. The 
decrease is small, i.e. 6% for Q=22.5·10-6 m3 s-1, 7% for Q=15.0·10-6 m3 s-1, and 5% 
for Q=7.5·10-6 m3 s-1.  
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Figure 3. The measured absorbance at the inlet and outlet signal is shown for a pulse, 
under the experimental condition Q=7.5·10-6 m³ s-1, Ω=250 RPM, and h=1.0·10-3 m.  

 

 

Figure 4. A. Reactor model which described the single phase fluid flow in the spinning 
disc reactor. B. The transition of the though flow governed radial velocity profile to the 
boundary layer governed radial velocity profile. C. The through flow and boundary layer 
governed radial liquid velocity profiles for the case of laminar flow.  
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VPFR increases with an increase of the flow rate. At 250 RPM, VPFR increases from 
75·10-6 m3 at 7.5·10-6 m3 s-1 to 110·10-6 m3 at 22.5·10-6 m3 s-1. As a percentage of the 
total reactor volume this equals an increase of 45% at 7.5·10-6 m3 s-1 to 64% at 
22.5·10-6 m3 s-1. VPFR is shown as a function of the rotational disc speed, for the 
measurements at h=2.0·10-3 m in Figure 5B.  
 

 
Figure 5. A, left: Plug flow volume versus the rotational disc speed at a disc spacing of 
1.0·10-3 m, for different volumetric flow rates. B, right: Plug flow volume versus the 
rotational disc speed at a disc spacing of 2.0·10-3 m, for different volumetric flow rates. 

As observed for h=1.0·10-3 m, the plug flow volume decreases as a function of the 
rotational disc speed, whereas it increases with increasing flow rate. The VPFR decrease 
as a function of the rotational disc speed is larger for the measurements at h=2·10-3 m 
than those for h=1·10-3m. The decrease of VPFR equals 46% for Q=22.5·10-6 m3 s-1, 
47% for Q=15.0·10-6 m3 s-1, and 53% for Q=7.5·10-6 m3 s-1.  

 
Figure 6. A, left: Plug flow volume versus the rotational disc speed at a disc spacing of 
3.0·10-3 m, for different volumetric flow rates. B, right: Plug flow volume versus the 
rotational disc speed at a volumetric flow rate of 7.5·10-6 m³ s-1, for varying disc spacings. 
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VPFR increases with an increase of the flow rate. At 250 RPM, VPFR increases from 
71·10-6 m3 at 7.5·10-6 m3 s¯1 to 120·10-6 m3 at 22.5·10-6 m3 s-1. As a percentage of the 
total reactor volume this equals an increase of 24% at 7.5·10-6 m3 s-1 to 41% at 
22.5·10-6 m3 s-1.  

Figure 6 shows VPFR as a function of the rotational disc speed, for measurements at 
h=3.0·10-3 m. For the disc spacings h=1.0·10-3 m, h=2.0·10-3 m and h=3.0·10-3 m, 
VPFR is shown as a function of the rotational disc speed in Figure 6 for measurements 
performed at Q=7.5·10-6 m3 s-1. The decrease in VPFR is strongest for the largest disc 
spacing.  

2.3.3. Transition of plug flow to mixed volume 
The SDR can be modeled as a combination of a plug flow volume, VPFR, with a mixed 
volume, VCSTR. VPFR originates from the through flow governed radial liquid velocity 
profile. In the mixed volume the radial velocity profile of the liquid is dominated by 
boundary layer formation. In a rotor-stator configuration two boundary layers exist. 
The centrifugal von Kármán boundary layer is present at the rotor (von Kármán, 
1921). The centripetal Bödewadt boundary layer is present at the stator (Bödewadt, 
1940).  

The boundary layers are merged for small axial disc spacings (van Eeten et al., 2012). 
For larger axial disc spacings, these boundary layers are separated by a core with a 
constant angular velocity, as was suggested by Batchelor (Batchelor, 1951). Daily and 
Nece identified four single phase flow profiles, depending on the rotational disc speed 
and the disc spacing (Stewartson, 1953, Daily et al., 1960, Djaoui et al., 1998). The 
flow is laminar (Regimes I & II) or turbulent (Regimes III & IV) with either merged 
boundary layers (Regimes I & III), or with a central core between the boundary layers 
(Regimes II & IV).  

This SDR is always operated in the turbulent regime where boundary layers are 
merged, i.e. regime III (Djaoui et al., 1998). The transition of laminar flow to turbulent 
flow in absence of through flow, for the merged boundary layers regime was studied 
by Cros et al., (Cros et al., 2003, Cros et al., 2002, Schouveiler et al., 2001). The regime 
with turbulent flow with merged boundary layers was extensively investigated by 
Haddadi & Poncet (Haddadi et al., 2008). Boundary layer formation in rotor-stator 
configurations is determined by the rotational disc speed, Ω (Itoh et al., 1992), disc 
radius, R, kinematic viscosity, υ, the axial clearance between the rotor and the stators, 
h (Poncet et al., 2005b), and the superimposed through flow, Q (Poncet et al., 2005a). 
Also the pre-rotation of the liquid (Debuchy et al., 2010), and the presence and 
spacing of a cylindrical enclosure are important (Cheah et al., 1994).  
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Owen and Rogers report that with radial centripetal or centrifugal through flow, near 
the axis boundary layers break down, and that a through flow governing flow profile 
remains (Owen et al., 1989). This is consistent with the experimental findings of 
Haddadi & Poncet (Haddadi et al., 2008). When the centrifugal von Kármán and 
centripetal Bödewadt boundary layers are fully developed, the parabolic shape of the 
radial velocity profile is broken down. Both the experimental and modeling results of 
Haddadi et al., illustrate that the volumetric through flow in the stator boundary layer 
increases when the rotational Reynolds number is increased from 1.8·105 to 5.0·106 

(Haddadi et al., 2008).  

The increase of the radially inward oriented flow in the boundary layer on the stator 
causes an increase of back mixing and thus a decrease of VPFR. The disc radius where 
the boundary layer breaks down the flow profile that is governed by through flow 
depends on the through flow, disc spacing and the rotational disc speed. With an 
increase of the rotational disc speed, the boundary layer formation is developed closer 
to the rotational axis. This explains the decrease of VPFR as a function of the rotational 
disc speed. When, as an approximation, a constant radial velocity profile of the liquid 
is assumed over the reactor height, the radial liquid velocity is given by equation (2): 

 r
Q

v =
2πRh

 (2) 

According to equation (2), for a through flow of 7.5·10-6 m3 s-1, the liquid velocity at 
the entrance, i.e. R = 26·10-3 m, is more than 5 times higher than at the rim of the 
disc, i.e. R = 0.135 m. At a fixed rotational disc speed and disc spacing, for higher 
volumetric through flow, the liquid velocity is increased. This leads to an increase of 
the volume where the boundary layer is suppressed and the through flow is 
dominating the velocity profile.   

Thus VPFR increases. This is in accordance with the trends observed in Figure 5 and 
Figure 6. Equation (2) also shows that the radial velocity of the liquid decreases when 
the disc spacing is increased. This decrease in radial liquid velocity implies that the 
through flow governed profile is broken down at a radius closer to the rotational axis. 
This means that VPFR decreases.  

2.3.4. Mixed volume 
The normalized RTD-function is used to describe and compare the mixed volume of 
different reactors: E(θ) = tm E(t), where tm is the mean residence time and θ the 
dimensionless time, t tm-1. The mean residence time and the variance, σ, around this 
mean are given by equations (3) and (4). The limits of the integration interval are equal 
to those used for equation (1) . 
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 ( )m
0

t =  t E t  dt
∞

∫  (3) 

The E(θ)-curve for N tanks-in-series, with equal volumes VTANK, is given by equation (5) 

(Levenspiel, 1999).  
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∞
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The E(θ)-curve of the mixed volume is shown in Figure 7, together with a fit of two 
tanks-in-series with equal volumes. The sum of τPFR and tm was compared with the 
residence time (τ = VR/Q). Over all measurements, the resulting volume accounted 
for at least 94% of the total reactor volume. This difference could be caused by a dead 
volume, as has been observed for the annular centrifugal extractor (Schuur et al., 
2012). Such a dead volume can occur due to a non-ideality in the pulse, or due to a 
stagnant zone which could be located at the point where the horizontal bottom stator 
is attached to the vertical cylindrical housing.  

The error bars in Figure 5 and Figure 6.represent the standard deviation in VPFR. 
This standard deviation is calculated from the duplicate experiments, and was less than 
10% for most measurements, indicating that the experimental approach leads to 
reproducible results. The number of tanks-in-series, N, with equal volumes can be 
determined from the variance in equation (4), the mean residence time in equation (3) 
through equation (6). Increasing the upper integration limit of equation (1) with 0.5τ 
results in a value of N which is 6% higher. The error due to the integration limit of 
equation (1) is thus smaller than the reproducibility of the duplicate measurements, 
and is thus negligible. 

 
2
m
2

t
N = 

σ
 (6) 

2.3.5. Number of tanks-in-series 
The number of tanks-in-series needed to describe the mixed volume for h=1.0·10-3 m 
and for h=2.0·10-3 m and for h=3.0·10-3 m is shown in Figure 8. For all disc 
spacings, the number of tanks-in-series is not dependent on the rotational disc speed. 
To model the mixed volume of the reactor, 2 to 3 tanks-in-series are needed. This can 
be understood when the mixed volume in the reactor is described as three tanks-in-
series. This model is schematically shown in Figure 4A. 
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Figure 7. The E(θ)-diagram of the mixed volume of the outlet signal in Figure 3 is given, 
together with the fit of the two tanks-in-series model (tm=17.08 s, τPFR=5.21 s, τ=22.3 s). 

 

Figure 8. Top left: Number of tanks-in-series versus the rotational disc speed at a disc 
spacing of 1.0·10-3 m, for different volumetric flow rates. Top right: Number of tanks-in-
series versus the rotational disc speed at a disc spacing of 2.0·10-3 m, for different 
volumetric flow rates. Bottom: Number of tanks-in-series versus the rotational disc speed 
at a disc spacing of 3.0·10-3 m, for different volumetric flow rates.  
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One tank is located between the rotor and the top stator (V1). The next tank is 
formed by the volume aside of the rotor (V2). The last tank is located between the 
rotor and the bottom stator (V3). For all measurements, the number of tanks-in-series 
is largest at the lowest flow rate.  

For an increasing volumetric flow rate, the interaction of the volumes V1 and V3 with 
the tank next to the rotor, V2 is increased. Accordingly the influence of V2 decreases, 
causing the decrease in the number of tanks-in-series with increasing flow rate. The 
radial position where boundary layer development starts to dominate the radial liquid 
velocity profile does not change the number of tanks-in-series. Therefore the number 
of tanks-in-series is not a function of the rotational disc speed.  

2.4. Conclusions 
This chapter described a reactor model based on single phase residence time 
distribution measurements in a rotor-stator spinning disc reactor. Measurements are 
based on the pulse wise injection of a tracer. For the validation of the model the disc 
spacing between the rotor and the stators was varied from 1.0·10-3 to 3.0·10-3 m, the 
rotational disc speed was varied from 50 to 2000 RPM, and the volumetric flow rate 
was varied from 7.5·10-6 to 22.5·10-6 m³ s-1.  

The resulting reactor model consists of a plug flow model in combination with a 
number of tanks-in-series. The volume of the reactor which can be described by a plug 
flow model decreases as a function of rotational disc speed. This volume increases 
with the volumetric flow rate. The mixed volume is described as 2 to 3 tanks-in-series 
with equal volumes which is determined through the mean residence time and the 
variance of the RTD curve. This can be understood by assuming the volume above 
and below the rotor as an ideally mixed volume, in combination with a third ideally 
mixed volume at the rim of the reactor. The reactor model is explained with the 
development of turbulence, the formation of von Kármán and Bödewadt boundary 
layers, and the effect of volumetric flow rates.  
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Nomenclature 

Roman symbols 

C  Tracer concentration, mol m−³ 
E  Residence time function, - 
h  Disc spacing, m 
N  Number of tanks-in-series with equal volume, - 
n  Number of measurement point in RTD-curve,- 
Q  Volumetric flow rate, m³ s−1 
R  Rotor radius, m 

ReΩ  Reynolds number, 2π(60)-1ΩR²v-1,- 
t  Time, s   
tm  Mean residence time, s 
V  Volume of fluid, m3 
v  Radial liquid velocity, m s−1  
z  Arbitrary integration variable,- 
 

Greek letters 

θ  Dimensionless time, t tm−1,- 
σ  Variance, - 
τ  Residence time, s 
υ  Kinematic viscosity, m² s−1 
Ω  Rotational disc speed, RPM 
 

Sub- and superscripts 

CSTR Continuous Stirred-Tank Reactor 
IN  Inlet 
PFR  Plug Flow Reactor 
R  Reactor 
r  Radius 
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3. Liquid-liquid volume fractions in a rotor-

stator spinning disc reactor 
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Hampel, U., Schouten, J.C., “Water and n-heptane volume fractions in a rotor-

stator spinning disc reactor”, Industrial & Engineering Chemistry Research, 2012, 51 
(51), pp. 16670-16676.  
 

Abstract 
This chapter presents the volume fractions of n-heptane and water measured in a 
rotor-stator spinning disc reactor. The volume fractions were measured using γ-ray 
tomography and photographic image analysis. The volume fractions were determined 
as a function of rotational disc speed, flow ratio, position in the reactor, and rotor 
material. In addition, the effect of the density difference between water and n-heptane 
was determined by dissolving potassium iodide in the water phase. Below a rotational 
disc speed of 75 RPM the volume fraction measured by tomography and photographic 
image analysis are within 10% deviation. For low rotational disc speeds, the n-heptane 
volume fraction decreases slightly with increasing rotational disc speed: the centrifugal 
force accelerates the larger n-heptane droplets to the center. At higher rotational disc 
speeds the droplets become smaller accordingly, the friction between the phases 
determines the flow and the n-heptane volume fraction becomes equal to the n-
heptane to total flow ratio. An increase in density difference from 0.31 to 0.79 kg dm-³ 
did not influence the volume fractions.  
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3.1. Introduction 
Liquid-liquid extraction and reactive extraction are generally performed in multiphase 
equipment such as stirred tanks (Hemrajani et al., 2004), packed columns (Jaradat et 
al., 2011, Su et al., 2010), or rotating disc columns (Al-Rahawi, 2007, Soltanali et al., 
2009). The performance of multiphase extraction equipment is dominated by the mass 
transfer rate. One example of intensified equipment is the rotor-stator spinning disc 
reactor (SDR). The gas-liquid, liquid-solid, and liquid-liquid mass transfer rates in the 
SDR are higher when compared to conventional reactors (van der Schaaf et al., 2011, 

Visscher et al., 2012d). The SDR consists of a rotating disc which is mounted at a 
small axial distance from the stationary discs (Figure 1). 

 

Figure 1. Schematic representation of the rotor-stator spinning disc reactor. The 
difference in rotational speed between the rotor and the stator induces a shear stress that 
disperses the liquids inside the reactor. 

The axial distance between the rotor and the stator is typically in the order of 1 10-3 m. 
The difference in rotational disc speed over this small disc spacing induces a strong 
shear force that acts on the liquids in the reactor. This shear force leads to a fine 
dispersion of the liquids in the reactor. In this dispersion, a high interfacial area is 
generated. Combined with the turbulence intensity this leads to high liquid-liquid mass 
transfer rates. For liquid-liquid processes, the volume fraction and the droplet size 
determine the specific surface area and thus the mass transfer rate (Visscher et al., 
2012d). The volume fraction is also essential for safety analysis of a reactor when 
hazardous chemicals are mixed (Krishna et al., 1994).  

In this chapter, the liquid-liquid volume fractions are measured inside a rotor-stator 
spinning disc reactor using γ-ray computed tomography, with water as aqueous phase 
and n-heptane as organic phase. The organic phase volume fraction is measured in the 
volume between the rotor and the top and bottom stators, respectively. First, the 
observed flow patterns in the reactor are described.  
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Next, the volume fraction is characterized as a function of the rotational disc speed 
and the n-heptane to total flow ratio. Also, the influence of the rotor construction 
material is described. Furthermore, potassium iodide (KI) is added to the aqueous 
phase to study the effect of the density difference between water and n-heptane on the 
volume fraction inside the SDR. Additionally, the KI enhanced the contrast between 
the phases for the γ-ray tomography. Finally, the results obtained from γ-ray 
tomography are compared to the results obtained through photographic image 
analysis. 

3.2. Methods 
3.2.1. Determination of the volume fraction 

A common method to measure the liquid volume fraction in a reactor is performing a 
start-stop experiment (Al-Dahhan et al., 1999, Urrutia et al., 1996). Another indirect 
possibility is to study the residence time distribution (Madhuranthakam et al., 2009). A 
drawback of these methods is that no spatial information is gained. Especially for 
rotating systems, where the centrifugal force varies with radial distance, a strong 
variation of the volume fraction with radial distance is expected.  

More detailed information can be obtained with photographic or video image analysis. 
The analysis of photographic or video images gives a time-resolved, spatial estimation 
of the volume fraction. The calculated volume fraction is however underestimated, 
since the resolution of a camera is often insufficient to detect droplets with a diameter 
of 0.5 10-3 m or less. Furthermore, the thickness of the thin films above and below a 
droplet cannot be resolved. Also conductivity measurements can be used to measure 
volume fractions (Steiner et al., 1974, Kumar et al., 1986).  

In this research, the volume fraction is measured using γ-ray computed tomography 
(CT). In tomography, penetrating photons are used to visualize cross-sections of a 
three dimensional object. Examples of penetrating photons are X-rays, γ-rays, and 
radio frequency waves.  

Such photons are non-intrusive to the 3D object. Computed tomography allows to 
measure the volume fraction inside a reactor (Schubert et al., 2011, Bieberle et al., 
2010a). γ-ray tomography does not affect the volume fraction and does not need 
additional reactor inlets, outlets, or in-situ sensors. Computed tomography is widely 
used in medical diagnostics, but is only scarcely applied in the field of chemical 
engineering. For equipment diagnostics in chemical engineering, the use of gamma 
radiation with photon energies of more than 500 keV is especially attractive because of 
its ability to penetrate materials with a high atomic number, e.g. steel or aluminum 
(Hampel et al., 2007). 
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3.2.2. Tomography measurements 
A CT scan makes various radiographic projections from different angular positions 
around the scanned object from which the density distribution is reconstructed. 
Rather than rotating the γ-ray CT measurement system as common in medical CT 
scans, the SDR was continuously rotated over 360o. A schematic overview of the γ-ray 
CT measurement system is shown in Figure 2.  

 

Figure 2. Schematic representation of the computed tomography set-up. The rotor-stator 
spinning disc reactor is placed on a rotating table. Source and detectors are in a fixed 
position (Bieberle et al., 2010a). 

For every 0.4 degrees a radiographic projection was measured. Hence, a complete CT 
scan delivers 900 projections. The measuring time was set to 10 minutes for a good 
material averaging and acceptable radiation statistic, giving a single projection time of 
about 0.67 s.  

3.2.3. Image reconstruction procedure 
The result of a computed tomography scan is a so-called sinogram matrix M(d,p) in 
which the number of counts for each detector d is compiled for all 900 projections p. 
Measurements at different flow rates, rotational disc speeds, as well as various ink and 
KI concentrations lead to liquid-liquid distributions and patterns, and thus different 
radiation attenuations and also different counting rates in the sinogram matrices occur. 
To determine volume fraction in a two-phase flow, first two reference states of the 
SDR are scanned: fully filled with water, Maq, and fully filled with n-heptane, Morg. 
Then, two attenuation matrices (EMAX and EMEAS) are calculated from these data, 
which are the input for CT reconstruction algorithms to obtain two non-
superimposed cross-sectional attenuation distributions µmax(i,j) and µx(i,j) with i and j 
as matrix/image index. 
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Here, the filtered back-projection algorithm was used in combination with the 
Hanning filter (Lyra et al., 2011). The time-averaged local organic volume fraction 
distribution in the slit, εORG,LOC, was determined with equation (3). 
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The calculation of the attenuation coefficient and the non-superimposed cross-
sectional attenuation distributions is described in more detail elsewhere (Bieberle et al., 
2011). An example of a reconstructed scanning plane, with the time-averaged local 
organic phase volume fraction is shown in Figure 3. The local organic volume 
fraction is averaged over the reactor slit to give the overall volume fraction in the 
reactor. 

 

Figure 3. The reconstructed scanning plane image of the reactor, measured at a 
rotational disc speed of 1000 RPM and Θ = 0.65 m³ORG : m³TOT, the colors represent the 
volume fraction. The mean organic phase volume fraction equals 0.60 m³ORG m-³REAC. 

3.2.4. Photographic image analysis 
The flow in the bottom slit of the SDR was digitally recorded by a Canon EOS digital 
400D camera with an 18-55 mm EFS lens. All photographs were made via a mirror 
that was located at a 45° angle below the reactor. The Image Processing Toolbox from 
Matlab® was used to convert the picture into a black-and-white image. A Matlab® 
script identified the position of the rotor in the black-and-white image. Water and n-
heptane were distinguished by a threshold value that was determined automatically by 
Matlab® for each picture using Otsu’s method (Otsu, 1979).  
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The organic phase volume fraction was estimated by determining the fraction of the 
surface of the disc where n-heptane is present, under the assumption that n-heptane 
droplets completely fill the volume between the rotor and the stators, which results in 
an overestimation of the organic phase volume fraction. The average volume fraction 
was determined from ten photographic images for each experimental condition. The 
error bars represent the standard deviation over ten measurements.  

3.3. Experimental section 
3.3.1. Set-up 

A schematic side view of the SDR set-up is given in Figure 1. The cavity of the SDR 
has an inner diameter of 134 10-3 m and is made of poly(methyl methacrylate) 
(PMMA). This allows visual observation of the flow with a camera. Experiments were 
performed with a stainless steel rotor and a PMMA rotor. Both rotors are 132 10-3 m 
in diameter. The rotor is located at an axial clearance of 1 10-3 m from the stators. The 
top slit is the space between the rotor and the top stator, the bottom slit is the space 
between the rotor and the bottom stator. Water and n-heptane are premixed in a 3/8” 
Swagelok T-piece and enter the reactor adjacent to the 10 10-3 m wide rotational axis. 
From the inlet, the liquid flows between the top stator and the rotor towards the 
volume between the bottom stator and the rotor. From there the liquid mixture flows 
through a 3 10-3 m internal diameter channel inside the rotational axis upwards. This 
gives an unobstructed view of the entire bottom slit.  

Two mechanical seals are used to connect the channel in the rotational axis to a 
channel in the stationary reactor wall. The total reactor volume is 29.8 10-6 m3. A 200 
W DC motor (Maxon) is applied to rotate the shaft by means of a belt driven pulley, 
up to a maximum rotational disc speed of 1700 RPM. Two M55 Coriolis mass flow 
controllers (Bronkhorst) were used in combination with two gear pumps (Tuthill). 
Investigated combinations of flow rates and their ratios are given in Table 1. 

Table 1. Experimental configurations, with the water flow rate, φAQ, n-heptane flow rate, 
φORG and n-heptane to total volumetric flow ratio, Θ, with the units m³ORG : m³TOT. 

PMMA rotor 
without KI 

Stainless steel rotor 
without KI 

Stainless steel rotor 
with KI 

φAQ 
(m3h-1) 
/103 

φORG 
(m3h-1) 
/103 

Θ 
 

φAQ 
(m3 h-1) 

/103 

φORG 

(m3 h-1) 
/103 

Θ 
 

φAQ 
(m3 h-1) 

/103 

φORG 
(m3 h-1) 

/103 

Θ 
 

6.16 7.91 0.56   6.16 7.91 0.56   4.24 7.96 0.65 

9.00 8.64 0.49 11.14 7.91 0.42 12.39 7.96 0.39 

18.0 7.91 0.31 25.05 7.90 0.24 17.38 7.96 0.31 

36.0 7.91 0.18       
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3.3.2. Tomography set-up 
The organic phase volume fraction within the SDR is determined with the high-
resolution γ-ray CT measurement system at the Helmholtz-Zentrum Dresden-
Rossendorf, Germany (Bieberle et al., 2010a, Bieberle et al., 2011, Bieberle et al., 2007, 

Tschentscher et al., 2011, Tschentscher et al., 2012). The γ-ray CT measurement 
system consists of a collimated isotopic source, a radiation detector arc, a lifting and 
rotating object table, and an external signal processing unit. As isotopic source Cs-137 
with an activity of about 185 GBq and photon energy of 662 keV is used.  

The radiation detector arc is positioned 970 10-3 m away from the collimated isotopic 
source, and has a 43° acquisition angle with 320 single detectors. Each of these 
detectors consists of a scintillation crystal, an avalanche photo diode, and a charge 
sensitive preamplifier and is operated in pulse mode. Thus, the applied energy 
discrimination offers very accurate measurements by counting only the non-scattered 
γ-ray photons (Hampel et al., 2007). The temperature of the entire detector arc is 
controlled by an external cooling system, which is also important to achieve a high 
measuring accuracy under varying ambient temperatures (Bieberle et al., 2010b).  

The SDR is located onto a rotating table that is placed between the stationary radiation 
detector arc and the collimated isotopic source such that the radiation fan beam passes 
through the horizontal scanning plane. The exact location of the slit position between 
the rotor and the bottom stator was identified by radiographic measurement at 
different heights covering the entire rotor-stator region. The detector arc was further 
collimated to a measuring slit height of 2 10-3 m by two lead arcs. This ensured a 
complete covering of the axial clearance of 1 10-3 m between the rotor and the stator.  

3.3.3. Chemicals 
A two-phase system of water and n-heptane was selected to study the volume fraction 
(Visscher et al., 2011, Visscher et al., 2012d). For all experiments, demineralized water 
was used. Pelikan Royal Blue ink was obtained from BETO Schoolartikelen. n-
Heptane was obtained at ≥99% purity from Sigma–Aldrich. Potassium iodide was 
obtained from Merck at 99.5% purity. A stock solution was made by dissolving 4.98 
kg KI in 5.5 10-3 m³ of demineralized water. This stock solution was diluted to a 
solution with a density of 1.45 kg m-3. The density dependence on the concentration of 
KI is shown in Figure 4, and fits the data published by MacInnes et al. and Pawar et 
al. for very diluted concentrations and at saturation respectively (Pawar et al., 2009, 

MacInnes et al., 1952). The linear concentration dependency of the aqueous phase 
density is equal to the trend observed for aqueous solutions of sodium chloride and 
potassium chloride (Zhang et al., 1996). The effect of the KI concentration on the 
interfacial tension of water and n-heptane is low for KI concentrations below 10 10-3 
M (Deshpande et al., 2012).  
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The weight percentage of KI in n-heptane was measured by mixing an aqueous KI-
solution with n-heptane and subsequently drying the n-heptane, and found to be less 
than 0.01 wt%. GC-MS analysis showed that there is no ink dissolved in the n-
heptane.  

 
 
Figure 4. The density of aqueous KI solutions versus the potassium iodide concentration 
in water. The linear relationship is given by: density = 81.2 x concentration + 998.2. 

3.4. Results and discussion 
3.4.1. Flow pattern 

Figure 5 shows examples of the reconstructed organic phase distribution image at a n-
heptane to total volumetric flow ratio, Θ, of 0.83 m³ORG : m³TOT and a rotational disc 
speed, N, of 50 RPM together with a photographic image made at 100 RPM. A 
spiraling behavior is observed for both phases below 150 RPM. In the water spiral, 
entrained n-heptane droplets are present. It was observed that the starting point of the 
spiral is not constant over various experiments. 

 
Figure 5. Example of a reconstructed phase distribution (left, SS rotor, φORG = 26.4 10-6 m3 

s-1, φAQ = 5.4 10-6 m3 s-1, ratio = 0.83, N = 50 RPM, bottom slit) and an example of a 
photographic phase distribution image (right, SS rotor, φORG = 26.4 10-6 m3 s-1, φAQ = 5.4 10-6 

m3 s-1, ratio = 0.83, N = 100 RPM, bottom slit, and ink added to the aqueous phase). Both 
show a water spiral in the bottom slit of the reactor.  
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3.4.2. Rotational disc speed and flow ratio  
The effect of the rotational disc speed on the organic phase volume fraction, εORG, in 
the bottom slit is shown as a function of rotor speed in Figure 6 for the 
measurements with a PMMA rotor.  

 
Figure 6. Volume fraction of the organic phase, measured through tomography, with a 
PMMA rotor. Measurements are made without ink and an aqueous phase density of 0.99 
kg dm-³.  

Above 150 RPM a radial uniform distribution of the volume fractions is observed; see 
Figure 3. Above 150 RPM the shear stress starts to break up the spiral. The drag 
force due to the tangential shear stress on the smaller fragments increases and starts 
dominating the centrifugal force. The winding number for the spiral increases rapidly 
and leads to a more uniform distribution. Additionally, this also takes place at the top-
side of the rotor, which leads to more entry points for the n-heptane droplets, thus 
increasing the uniformity of the dispersion. At all rotational disc speeds, n-heptane is 
the dispersed phase.  
 
εORG decreases with rotational disc speed, N, and increases with the n-heptane to total 
volumetric flow ratio, Θ. At 50 RPM and Θ = 0.56 m³ORG : m³TOT the difference 
between εORG and Θ is less than 4%. At low rotational disc speeds the difference 
between εORG and Θ is expected to be small. The difference between εORG and Θ 
increases with increasing flow ratio, up to a 75% for Θ = 0.18 m³ORG : m³TOT. The 
flow pattern observed in the bottom slit represents alternating rings with an irregular 
shape that move radially inwards. With increasing rotational disc speed εORG 

approaches approximately 0.25 m³ORG m³REAC for all flow ratios at 750 RPM. Except 
for Θ = 0.18 m³ORG : m³TOT, the asymptotic value of εORG is lower than Θ. The 
organic phase volume fraction is shown as a function of rotational disc speed in 
Figure 7 for the measurements with a stainless steel rotor. Up to 500 RPM the 
organic phase volume fraction, εORG, decreases with rotational disc speed, N, and 
increases with the n-heptane to total volumetric flow ratio, Θ.  
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This was also observed while measuring with the PMMA rotor. Above 500 RPM, 
opposite behavior was found. εORG increases with the rotational disc speed. For Θ = 
0.56 m³ORG : m³TOT, εORG is higher than Θ below 200 RPM. Above 200 RPM εORG 
increases again until it reaches the value of Θ at 1600 RPM. For Θ = 0.24 m³ORG : 
m³TOT an initial decrease of εORG is observed with a minimum at 300 RPM. For Θ = 
0.24 m³ORG : m³TOT, εORG is always higher than Θ. The increase of the εORG can be 
explained from the effect of the centrifugal force, FC, and drag force, FD, which are 
given by equations (4) and (5), respectively. The centrifugal force is present due to the 
rotation of the liquids.  

 3 2
C ORG ORG ORG

1
F  m a  πd ρ ω r

6
= =  (4) 

 2
D AQ D L

1
F ρ v C A

2
=  (5) 

Due to the density difference and the centrifugal force, the water phase encounters a 
larger force directed outwards. The radial velocity of n-heptane droplets is thus higher. 
With increasing rotational disc speed the large n-heptane droplets break up into 
smaller droplets due to the increase of the shear stress. Thus the diameter decreases 
and the number of n-heptane droplets increases. As a result the specific surface area of 
the n-heptane droplets increases.  

Equation (5) shows that the drag force acts on the n-heptane droplets interface that is 
perpendicular to the flow direction, AL. Thus the drag force scales with the diameter 
to the power of 2. Equation (4) shows that the centrifugal force scales with the droplet 
diameter to the power of 3. As a result, the drag force becomes more dominant for 
smaller droplets. The radial inward velocity of these droplets decreases. Because more 
and smaller droplets are generated, and because their radial velocity decreases, the 
volume fraction increases.  

3.4.3. Top and bottom slit 
Measurements of εORG in the top slit of the reactor, i.e. the volume above the stainless 
steel rotor, were compared to those in the bottom slit, i.e. the volume below the rotor 
(Figure 8). In both slits, the mean value of εORG over the slit is approximately equal. 
The difference in εORG in the top and bottom slit between 0 and 1600 RPM is less 
than 5% for the measurements at Θ = 0.65 m³ORG : m³TOT and Θ = 0.31 m³ORG : 
m³TOT. For co-fed gas-liquid flow, the hydrodynamic regime above and below the 
rotor was previously reported to be different (Meeuwse et al., 2009). A dispersed 
regime was observed between the rotor and the bottom stator, a film region was 
observed in the volume between the rotor and the top stator. For liquid-liquid co-
feeding no visual difference is observed for the top and bottom slit. Both slits have a 
regime in which n-heptane is dispersed in the water phase.  
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Figure 7. Volume fraction of the organic phase, measured with a stainless steel rotor. 
Measurements are made without ink and an aqueous phase density of 0.99 kg dm-³. 

 

 
Figure 8. Volume fraction of the organic phase in the top and the bottom slit of the 
reactor, measured for the stainless steel rotor, low ink concentration and an aqueous 
phase density of 1.45 kg dm-3.  

3.4.4. Rotor material 

The influence of the rotor material on the value of εORG is shown in Figure 9, which 
shows measurements from Section 3.4.2.  Both measurements are performed without 
KI or ink added to the water. The PMMA rotor systematically gives lower values of 
εORG compared to the stainless steel rotor. At 50 RPM this difference is 15%, at 1000 
RPM this difference is largest: about a factor 2. For the stainless steel rotor, εORG has a 
minimum of 0.45 m³ORG m³REAC at 500 RPM, after which it asymptotically increases to 
a value of 0.55 m³ORG m³REAC. This is close to the theoretical asymptote of Θ = 0.56 
m³ORG : m³TOT. With the PMMA rotor εORG goes asymptotically to a value of 0.29 
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m³ORG m³REAC. The rotational disc speed with the PMMA rotor measurements was 
limited to 1000 RPM. An increase of εORG above 1000 RPM is expected. 

 
Figure 9. Volume fraction of the organic phase, measured with tomography, for a PMMA 
rotor and with a stainless steel rotor. Both measurements are made without ink and an 
aqueous phase density of 0.99 kg dm-³.  

3.4.5. Density difference 
To study the effect of the density difference between the aqueous phase and the 
organic phase, KI was dissolved in water. While the density difference for the water/n-
heptane system is equal to 0.31 kg dm-3, a density difference of 0.79 kg dm-3 was 
adjusted for the system with potassium iodide (here aqueous phase density, ρAQ, is 
equal to 1.45 kg dm-3). The standard deviation of three repetitive measurements is 
equal for the measurements with and without KI added to the aqueous phase, i.e. less 
than 5%. Figure 10 shows εORG measured for systems in which the aqueous phase 
density, ρAQ, was increased to 1.45 kg dm-3.  

 
Figure 10. Volume fraction of the organic phase, measured with the stainless steel rotor at 
low ink concentration and an aqueous phase density of 1.45 kg dm-3.  
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All measurements were performed with the stainless steel disc and a low ink 
concentration. Here εORG is close to the theoretical value Θ. For Θ = 0.65 m³ORG : 
m³TOT, between 50 and 200 RPM, εORG decreases 10%. From 200 to 1600 RPM, εORG 
increases asymptotically towards Θ. For Θ = 0.31 m³ORG : m³TOT, the initial decrease 
of εORG also equals 10%, the asymptotic increase however goes to 0.39 m³ORG m³REAC, 

which is 19% above the value of Θ. 

The reason for this increase is unclear; a value of εORG equal to Θ was expected. 
Comparing Figure 7 and Figure 10 shows that for the measurements with ρAQ = 0.99 
kg dm-3, the decrease in εORG at low rotational disc speed is larger than that for the 
measurements with ρAQ = 1.45 kg dm-3. This can be explained from the influence of 
the interfacial tension. The interfacial tension of the water-alkane interface increases 
with the KI concentration (Aveyard et al., 1976, Amouei et al., 2008)  

This implies that at a lower KI concentration a lower shear force is needed to reduce 
the droplet diameter. As a result thereof, at a particular rotational disc speed, the 
droplet diameter is smaller while using ρAQ = 1.45 kg dm-3 when compared to ρAQ = 
0.99 kg dm-3. Smaller droplets are more susceptible to the drag force, see Equation (5). 
For the measurements at ρAQ = 1.45 kg dm-3 the drag force balances the centrifugal 
force at lower rational disc speed. The decrease in εORG thus becomes smaller when 
the concentration of KI in the aqueous phase is increased.  

3.4.6. Comparison of tomography vs. photographic image analysis 
Figure 11 shows a cut-out of the photographic image that was made at Θ = 0.56 
m³ORG : m³TOT and N = 175 RPM at high ink concentration for the water/n-heptane 
system. High ink concentration was used to enhance the contrast between both phases 
for photography imaging. The corresponding black-and-white image obtained from 
this image though the Image Processing Toolbox is also shown. The n-heptane is 
represented by the white area. n-Heptane droplets with a diameter smaller than 0.5 10-3 
m are below the detection limit and are not always taken into account. The organic 
phase volume fraction is therefore underestimated. The organic phase volume fraction 
is calculated by multiplying the white area with the bottom slit height and dividing by 
the total volume of the bottom slit. 

This assumes that the n-heptane-water boundary has no curvature and that the water 
film thickness on top and bottom of the n-heptane droplet are negligibly thin. Visual 
comparison of the photograph with the black and white image shows that the 
detection algorithm is less reliable and severely underestimates the volume fraction. 
Therefore, volume fraction measurements above 300 RPM are not shown.  
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Figure 11. Comparison between the photograph (left) and the resulting black and white 
image (right). Picture is taken with an aqueous phase density of 0.99 kg dm-3, high ink 
concentration, stainless steel rotor, Θ = 0.56 m³ORG : m³TOT, and N = 175 RPM. 

 
Figure 12. The organic phase volume fraction versus rotational disc speed, as determined 
from image analysis and tomography measurements. Both measurements are made 
without ink and an aqueous phase density of 0.99 kg dm-³. Below 50 RPM, the degree of 
dispersion is minimal, and the results are equal. The tomography data are taken from 
Figure 9. 

 
Figure 13. Volume fraction of the organic phase, measured with a stainless steel rotor, 
with high ink concentration and an aqueous phase density of 0.99 kg dm-3.  
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Figure 12 shows both the volume fraction found with tomography and photography. 
At low rotational disc speed, both methods give the same volume fraction. With 
increasing rotational disc speed, the volume fractions obtained from photography 
become more biased. This comparison shows that at the low rotational disc speed, i.e. 
below 75 RPM, all values measured for the organic phase volume fraction, εORG, 
which are obtained from the tomography measurements are equal to those obtained 
from the photographic analysis. 

The comparison also indicates that above 300 RPM tomography yields a more 
accurate determination of the organic phase volume fraction. To enhance the visual 
contrast that is needed for the photographic image analysis, water soluble ink was 
added to the aqueous phase. For mixtures with a low ink concentration in the aqueous 
phase, the organic phase volume fraction is nearly constant over the total range of 
rotational speeds (Figure 10). For Θ = 0.65 m³ORG : m³TOT and Θ = 0.31 m³ORG : 
m³TOT, the volume fraction decreases approximately 10% from 50 to 200 RPM. The 
increase of εORG between a rotational disc speed of 200 and 1600 RPM is largest for Θ 
= 0.31 m³ORG : m³TOT. 

For mixtures with a high ink concentration in the aqueous phase, εORG is shown as a 
function of the rotational disc speed in Figure 13. For Θ = 0.56 m³ORG : m³TOT and Θ 
= 0.42 m³ORG : m³TOT, an equal trend is observed as for the experiments without ink 
and in which low ink concentrations were used. 

3.5. Conclusions 
The volume fractions of n-heptane and water were measured inside a rotor-stator 
spinning disc reactor through γ-ray tomography and photography. The organic phase 
volume fraction was determined as a function of rotor speed, flow ratio, rotor 
material, and of the position in the reactor. In addition, the effect of density difference 
was determined by dissolving potassium iodide in the water phase. For low rotational 
disc speed, the volume fraction decreases slightly with the rotational disc speed: the 
centrifugal force accelerates the larger droplets to the center. At high rotational disc 
speeds the droplets become smaller and the friction between the phases determines 
the flow and the volume fraction becomes equal to the n-heptane to total flow ratio. 
For all measurements, the organic phase volume fraction decreases with an increase of 
the water flow rate. Measurements in the slit between the rotor and the bottom stator 
are representative for the slit between the rotor and the top stator, and thus for the 
entire reactor. Measurements were performed with a stainless steel rotor and a 
poly(methyl methacrylate) (PMMA) rotor, both with PMMA stators. Below a 
rotational disc speed of 75 RPM the results of tomography and photographic image 
analysis are within 10% deviation, indicating the reliability of the γ-ray tomography. 
With the organic phase volume fraction known, accurate calculations can be made of 
the liquid-liquid mass transfer rate, and the pressure drop. 
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Nomenclature 

Roman symbols 

AL  Projected area, m²  
a  Centrifugal acceleration, m s-2 
CD  Drag coefficient, - 
d  Droplet diameter, m 
E  Attenuation matrix  
m  Mass, kg 
M  Sinogram matrix  
N  Rotational disc speed, RPM 
R  Disc radius, m 
V  Volume, m³ 
v  Velocity, m s-1 
 

Greek letters 

ε  Volume fraction, m³ORG m-³L 
ρ  Density, kg m-3 
µ  Non-superimposed cross-sectional attenuation distributions, - 
Θ  n-Heptane to total flow ratio, m³ORG:m³TOT  
ω  Angular velocity, rad s-1 
φ  Volumetric flow rate, m-3 s-1 

 

Sub- and superscripts 

AQ  Aqueous phase 
C  Centrifugal 
D  Drag 
d,p  Detector, d, and projections, p 
i,j  Matrix/image index 
LOC  Local 
MAX Maximal contrast 
MEAS Measurement 
ORG n-heptane 
TOT  Total 
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4. Liquid-liquid mass transfer in a rotor-

stator spinning disc reactor 
 

 

 

 

 

 

 

 

 

 

This chapter has been published as:  

Visscher F., van der Schaaf, J., de Croon, M.H.J.M., Schouten, J.C., “Liquid-liquid 

mass transfer in a rotor-stator spinning disc reactor”, Chemical Engineering Journal,  
2012, 185-186, pp. 267-273. 
 

Abstract 
This chapter presents the liquid-liquid flow behavior and the overall liquid-liquid mass 
transfer rates for a rotor-stator spinning disc reactor, with an axial disc spacing of 1.0 
10-3 m, a rotor radius of 0.066 m, and rotational disc speeds up to 1600 RPM. The 
overall liquid-liquid mass transfer rate is determined from extraction experiments of 
benzoic acid from n-heptane to water. For the calculation of the overall mass transfer 
rate the dimerization and acid dissociation equilibria are taken into account. Three 
flow patterns are characterized. Up to 100 RPM continuous radially inwards spiraling 
n-heptane patterns are observed. Between 100 RPM and 300 RPM this continuous 
spiral changes to spiraling n-heptane droplets. Above 300 RPM fully dispersed phase 
flow is observed. The overall mass transfer rate increases from 0.17 m³ORG m-3R s-1 at 
100 RPM and a water flow rate of 2.5 10-6 m³AQ s-1 (water : n-heptane = 1.1:1) to 51.47 
m³ORG m-3R s-1 at 1600 RPM and a water flow rate of 12.5 10-6 m³AQ s-1 (water : n-
heptane = 5.6:1). These mass transfer rates are at least 25 times higher compared to 
those in packed columns, and at most 15 times higher compared to mass transfer rates 
in state of the art microchannels. 



Liquid-liquid mass transfer rate

 

44 

4.1. Introduction 
Liquid-liquid processes are widely encountered in chemical industry. Examples of 
liquid-liquid reactions that are relevant on industrial scale are, e.g., the exothermic 
nitration of aromatic compounds (Zaldívar et al., 1996), the production of 
benzaldehyde, hydroformylation of propene and polymerization reactions like the 
Shell Higher Olefin Process (Wiseman, 1979). Most contactors used for liquid-liquid 
processes, like the Kuhni column, the rotating disc column, or the pulsed perforated 
plate column, are space consuming, requiring a significant processing time, and 
involving severe safety challenges. Therefore equipment with a larger productivity is 
desired. Such a productivity increase can be obtained by increasing mass transfer rates 
for processes in which the mass transfer rate is limiting. This is the case for most 
liquid-liquid processes.  

This chapter investigates the liquid-liquid flow behavior and the overall liquid-liquid 
mass transfer rates in a co-current operated rotor-stator spinning disc reactor. This 
multiphase reactor is shown in Figure 1 and consists of a rotating disc, the rotor, 
which is enclosed by two stationary discs, the stators, and a stationary cylindrical 
housing. The velocity gradient over the volume between the rotor and the stator 
causes an intense shear force to act on the reactor contents.  The resulting turbulent 
intensity causes a strong dispersion of the reactor contents, and thus a high surface 
area. The application of this multiphase reactor for gas-liquid systems was described 
before. There it was shown with oxygen desorption experiments that the volumetric 
mass transfer coefficient per gas volume is about 40 times higher than for a bubble 
column (Meeuwse et al., 2010b). The liquid-solid mass transfer coefficient was 
determined to vary from 0.02 to 0.22 m³L m-3R s-1 (Meeuwse et al., 2010a).  

In this study the overall liquid-liquid mass transfer rates are determined by extracting 
benzoic acid from n-heptane to water. This extraction system was described before by 
Visscher et al., (Visscher et al., 2011). This system is applicable for experimental set-
ups which consist of poly(methyl methacrylate), a common construction material. 
Benzoic acid is strongly UV-active which gives the possibility to measure the solute 
concentration in both n-heptane and water, up to low concentrations.  

Upon rotation of the rotor the shear forces between the rotor and the stators will 
cause a dispersion of n-heptane in water. This results in high overall liquid-liquid mass 
transfer rates. The overall liquid-liquid mass transfer coefficients in the rotor-stator 
spinning disc reactor are much higher than those reported for conventional 
equipment. These high mass transfer rates therefore allow for an intensification of the 
process, i.e. a considerable reduction of process equipment volume. 
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4.2. Experimental section 
4.2.1. Experimental set-up 

The rotor-stator spinning disc reactor used is described in detail before (Meeuwse et 
al., 2010b), and is graphically depicted in Figure 1. The 0.132 m wide rotor (stainless 
steel) is located at 1.0 10-3 m from the top and bottom stators, which are both from 
poly(methyl methacrylate). The stationary cylindrical housing is located at 10 10-3 m 
from the rim of the rotor. The reactor volume is 49.7 10-6 m³.  

 

 

Figure 1. Schematic drawing of the rotor-stator spinning disc set-up. The rotor is located 
at 1.0 10-3 m from the top and bottom stator. Water is fed to the top of the reactor near the 
axis. n-Heptane with benzoic acid is fed through an inlet in the bottom stator near the 
rim of the disc. 

The water phase is fed to the top of the reactor through an inlet in the top stator by a 
pump (Siemens, 1LA6) combined with a Coriolis mass flow controller (Bronkhorst, 
M55). The inlet is located next to the rotating axis. n-Heptane with dissolved benzoic 
acid is fed to the reactor by a calibrated peristaltic pump (Cole-Palmer Masterflex) 
through an orifice in the bottom stator. 

The orifice has a diameter of 1.4 10-3 m, which is located at 62 10-3 m from the axis in 
the bottom stator. These experiments were performed for rotational disc speeds up to 
1600 RPM and an n-heptane flow of 2.2 10-6 m³ORG s-1. The water flow rate ranged 
from 2.5 10-6 m³AQ s-1 to 15.0 10-6 m³AQ s-1. Measurements of the steady state 
concentrations were repeated at least three times for each experimental condition. The 
average values of the measured concentrations were used to calculate the overall mass 
transfer rate. 
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4.2.2. Materials 
The water/n-heptane benzoic acid system was selected as the extraction system. For 
all experiments demineralized water was the continuous phase. In the experiments 
demiwater, n-heptane (99% from Sigma-Aldrich) and benzoic acid (99.5% from 
Merck) was used.  The demiwater was demineralized with a Millipore Elix UV-10. The 
water content in the benzoic acid was measured by weighing a specific amount of 
benzoic acid before and after a 24 hour period of drying at 373 K, and was determined 
to be less than 1 wt%. Pelikan Royal Blue ink was used as a dye for the water phase in 
the visualization experiments. No further purification was performed on the 
chemicals. All experiments were performed at ambient temperature.  

4.2.3. Image analysis 
The flow pattern between the rotor and the bottom stator was digitally recorded by a 
Canon EOS digital 400D camera. All photographs were made via a mirror that was 
located at a 45o angle, below the reactor to prevent leaking on the camera. The water 
phase was colored blue by Pelikan Royal Blue ink. The phases could be distinguished 
based on the grey value. The Image Processing Toolbox from Matlab® was used, in 
combination with Adobe® Photoshop CS4, for determination of the n-heptane 
volume fraction. The volume fraction was estimated by determining the fraction of the 
surface of the disc where n-heptane is present. For each experimental condition the 
volume fraction was determined from eight photographic images. The rotational discs 
speed ranged from of 50 to 1600 rpm. The n-heptane flow was 2.2 10-6 m³ORG s-1 and 
the water flow rate ranged from 2.5 10-6 m³AQ s-1 to 15.0 10-6 m³AQ s-1. Therefore the 

aqueous to organic flow ratio, Ѳ, ranges from 1.1 to 6.8. 

4.2.4. Mass transfer experiments 
At time t = 0, the volumetric through flow of n-heptane + benzoic acid was started. 
Samples of approximately 10 10-6 m³L were withdrawn from the reactor outlet at time 
intervals of 10 seconds. These samples separated quickly, typically within two seconds. 
From these samples 4 10-6 m³L of both phases was collected in sealed flasks. Each of 
these samples was diluted by a factor 25 by using a 0.5 10-6 m³ Finn pipette.  

The benzoic acid concentration was determined for water and n-heptane by UV-VIS 
spectroscopy. Based on these measurements in time, the steady state concentrations 
were determined for both phases. The absorption spectra of all samples were 
measured on a Shimadzu UV-1650PC UV-VIS spectrophotometer. All samples were 
measured in quartz cuvets, type 100-QS, with a path length of 10 mm. For n-heptane 
the peak at 275 nm is used for determination of the benzoic acid concentration, for 
water the peak at 269 nm has been selected. The molecular absorption coefficient of 
benzoic acid in n-heptane at 275 nm was determined from the calibration curve to be 
996 dm³ mol-1 cm-1, which is close to the value of 1000 dm³ mol-1 cm-1 that was 
reported before (Hosoya et al., 1962).  
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The absorption coefficient of benzoic acid in water at 269 nm was determined to be 
541 dm³ mol-1 cm-1, which is close to the value of 560 dm³ mol¯1 cm¯1 that was 
reported before (Hosoya et al., 1961). Measurements for which the measured 
concentrations would yield a mass balance that was more than 5% deviated, were 
discarded from further calculations. 

4.3. Results and discussion 
4.3.1. Flow patterns 

Figure 2 shows the flow pattern between the rotor and the bottom stator as a 
function of the rotational disc speed, N. For the given system three different flow 
patterns are observed as a function of the rotational disc speed. First, up to 100 RPM, 
a radial inward flow of the n-heptane is observed as a continuous spiral without back 
mixing. This n-heptane spiral is entwined with a continuous water spiral that contains 
n-heptane droplets. These droplets are formed at low water flow rates from a spill of 
n-heptane to the top of the rotor at the injection point.  

 

Figure 2. The influence of rotational disc speed on the volume fraction inside the reactor. 
Pictures are made through the bottom stator, with a total flow rate of 4.7 10-6 m³ s-1. Water 
appears blue by the ink, the n-heptane appears white. 

For this case, both n-heptane and water are assumed to have plug flow behavior. 
Second, above 100 RPM, the continuous n-heptane spiral breaks up into droplets due 
to the enlarged shear force that is present between the rotor and the bottom stator. 
The droplets move along a spiral path to the center. No back mixing is observed, 
therefore all n-heptane droplets have an equal residence time. Also in this case both 
phases are assumed to have plug flow behavior. Third, above 300 RPM, the n-heptane 
droplets become dispersed in the water phase, such that the droplet diameter becomes 
smaller than the axial clearance between the rotor and the stator, 1.0 10-3 m. Due to 
the formation of boundary layers on the rotor and the stator (Schlichting et al., 1999, 

Poncet et al., 2005b), back mixing occurs of both n-heptane and water.  
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In this case both phases are assumed to behave as mixed flow. During the experiments 
n-heptane was also observed between the top stator and the rotor. This is only 
possible for mixed flow. Figure 3 shows the flow pattern for an increased value of the 

aqueous to organic flow ratio, Ѳ, at 50 RPM. When operating at a flow ratio, Ѳ, of 1.1, 

a continuous spiral of n-heptane is observed that needs approximately 1.5 rounds from 
the n-heptane inlet near the rim of the rotor, to the reactor outlet at the center of the 

bottom stator. At Ѳ = 2.3 this same spiral exists but the length of the spiral has 

decreased to a single swirl around the center.  

 

Figure 3. The influence of the flow ratio, ѲѲѲѲ, on the n-heptane volume fraction, εORG, at 50 
RPM. Water is colored blue by the ink, the n-heptane appears white. It is observed that 
the residence time of n-heptane in the reactor decreases with an increasing water flow 
rate: the number of swirls around the axis decreases.  

 
Figure 4. Influence of rotational disc speed and flow ratio on the n-heptane volume 
fraction. The n-heptane volume fraction decreases for an increasing rotational disc speed 
and for an increasing flow ratio. The dotted lines represent the n-heptane volume 
fraction, without taking droplets smaller than 1 10-3 m into account.  
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The number of n-heptane droplets from the spill has decreased too. At Ѳ = 4.5 the 

spiral decreases to a half swirl around the center, and at Ѳ = 6.8 the swirl becomes 

shorter and less thick when compared to Ѳ = 4.5. This causes a shorter spiral, and 

thus a lower n-heptane volume fraction. The formation of droplets from a spill is not 
observed anymore. The irregular shape of the n-heptane spiral is caused by the pulsed 
injection of n-heptane by the Masterflex® pump.  

4.3.2. n-Heptane volume fraction  
The photographs in Figure 2 and Figure 3 were analyzed with MatLab® software, 
using the Image Processing Toolbox. Based on this analysis the n-heptane volume 
fraction, εORG, was found to decrease as a function of rotational disc speed from 0.47 

m³ORG m-³R at 50 RPM towards 0.18 m³ORG m-³R at 300 RPM and Ѳ = 1.1.  

Also the n-heptane volume fraction decreased (at a constant rotational disc speed of 50 

RPM) from 0.47 m³ORG m-³R to 0.19 m³ORG m-³R with Ѳ ranging from 1.1 to 6.8. The 

reproducibility of these numbers is high, i.e. less than 10% error. This is shown in 
Figure 4. At rotational disc speeds above 150 RPM the n-heptane volume fraction 
becomes biased because some droplets have a diameter smaller than the disc spacing 
of 1.0 10-3 m. These smaller droplets have a low contrast, and are not always detected 
by the MatLab® script. Thus, the percentage of disc area that is determined by the 
software underestimates the n-heptane volume fraction for rotational disc speeds 
larger than 150 RPM. Above 300 RPM almost all droplets are smaller than 1.0 10-3 m, 
and the n-heptane volume fraction cannot be determined anymore.  
 
Therefore the n-heptane volume fractions in Figure 4 are represented as dotted lines 
for rotational disc speeds larger than 150 RPM. For an increase of the water flow rate, 
the n-heptane swirl is forced more strongly to the reactor outlet in the center of the 
reactor. This results in a decrease of the swirl length from the rim towards the center. 
This can be seen in Figure 3. This implies that the volume fraction of the organic 
phase decreases with the increasing water flow, and thus with an increasing aqueous to 
organic flow ratio.  

The value for the n-heptane volume fraction is needed for the determination of the 
overall liquid-liquid mass transfer coefficient. Since the volume fractions are biased for 
rotational disc speeds higher than 300 RPM, this would mean that the overall mass 
transfer rate could not be determined accurately above 300 RPM.  

4.3.3. Liquid-liquid extraction system 
For the water/n-heptane/benzoic acid system three equilibriums are present: the acid-
base equilibrium of benzoic acid in the water, the dimerization of benzoic acid in n-
heptane, and the mass transfer of benzoic acid over the water/n-heptane interface 
(Visscher et al., 2011).  
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The observed partition coefficient is equal to the ratio of the total concentration, 
CTOT, in both phases. The total concentration in water is equal to the sum of the 
dissociated and the non-dissociated benzoic acid, as is shown in equation (1). The total 
concentration in n-heptane is equal to the sum of the monomeric and dimeric species 
of benzoic acid, as is shown in equation (2). Assuming that only the non-dissociated 
monomeric species can partition over the water/n-heptane interface, the partition 
coefficient relevant for the mass transfer is given by equation (3). 

 
-TOT HA A

AQ AQ AQC  = C  + C  (1) 

 TOT MON DIM
ORG ORG ORGC  = C  + 2C  (2) 
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Following the two-film theory, the overall liquid-liquid mass transfer coefficient can be 
described as a result of the resistance to mass transfer in the aqueous phase, kAQ, and 
the resistance to mass transfer in the organic phase, kORG. Each resistance originates 
from the diffusion of the solute through a laminar boundary layer near the water/n-
heptane interface. The resistances to mass transfer combine into an overall resistance 
to mass transfer, kL, and are interrelated by the monomeric partition coefficient, 
KPMON, of benzoic acid over the water/n-heptane interface: 
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The product of the overall liquid-liquid mass transfer coefficient, kL, with the specific 
liquid-liquid interfacial area, aL, and the n-heptane volume fraction, εORG, yields 
kLaLεORG and expresses the overall mass transfer rate in units of m³ORG m-3R s-1.  

4.3.4. Determination of the steady state concentrations 
The concentration profiles in both phases are shown as a function of time and flow 
ratio for 1200 RPM in Figure 5. The point t = 0 represents the situation at which the 
n-heptane with benzoic acid flow enters the reactor. Based on the reactor volume of 

49.7 10-6 m³, the overall residence time equals 10.6 s (for Ѳ = 1.1), 6.9 s (for Ѳ = 2.3), 

and 2.8 s (for Ѳ = 5.6).  

By plotting the outlet concentrations vs. time it can be seen that a steady state 

situation is obtained after approximately 37 s for Ѳ = 1.1, 24 s for Ѳ = 2.3 s, and 10 s 

Ѳ = 5.6. These times to steady state correspond to approximately 3.5 times the overall 

residence time for all flow ratios. With an increase of the water flow rate, the overall 
residence time decreases, and thus the system is further away from the equilibrium 
composition. The steady state concentrations in both phases were determined for 
rotational disc speeds ranging from 0 to 1600 RPM.  
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Figure 5. A, left: Total concentration of benzoic acid in the water phase versus time at 
1200 RPM and an n-heptane flow rate, φORG, of 2.2 10-6 m³ s-1. The reactor is initially filled 
with water only. At t = 0 the n-heptane flow is started. The initial concentration in the 
reactor is 0 mol m-³. B: right: Total concentration of benzoic acid in n-heptane versus 
time at 1200 RPM and an n-heptane flow rate, φORG, of 2.2 10-6 m³ s-1. The reactor is 
initially filled with water only. At t = 0 the n-heptane flow is started. The inlet 
concentration of benzoic acid in n-heptane is 24 mol m-³.  

 

 
Figure 6. Steady state benzoic acid concentrations for water and n-heptane, as a function 

of the rotational disc speeds at ѲѲѲѲ = 1.1. The equilibrium concentrations in both phases 
are shown as dotted lines for the givens system. 

Figure 6 shows the measured steady state concentrations as a function of the 

rotational disc speed, and the equilibrium concentrations for Ѳ = 1.1. Above 600 
RPM, the steady state concentrations do not change anymore, because the 
concentrations at the outlet are in equilibrium; an accurate determination of the 
kLaLεORG values is therefore not possible. The kLaLεORG values for higher rotational 
disc speeds could therefore only be determined for flow ratios higher than 1.1. 
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4.3.5. Modeling mass transfer 
With the steady state concentrations and the flow behavior known, the overall mass 
transfer rate can be calculated from the mass balance over the reactor. Based on the 
flow patterns observed in Figure 2 and Figure 3, plug flow behavior is assumed for 
both phases for rotational disc speeds up to 300 RPM. Above 300 RPM mixed flow 
behavior is assumed for both phases.  

By assuming plug flow behavior, the general mole balance can be written in the form 
of equations (5) and (6), where kLaLεORG  is the overall mass transfer rate with the units 
m³ORG m-3R s-1, and KPMON the monomeric partition coefficient of the non-dissociated 
monomer between water and n-heptane with the units m³AQ m-3ORG.  

 ( )
TOT
AQ L L ORG MON MON HA

ORG P AQ
v,AQ

dC k a ε
 = - C  - K C

dV φ
 (5) 

 ( )
TOT
ORG L L ORG MON MON HA

ORG P AQ
v,ORG

dC k a ε
 = C  - K C

dV φ
 (6) 

The concentration difference in equations (5) and (6) is the driving force for mass 
transfer. In equations (5) and (6), CORGMON represents the concentration of benzoic 
acid monomer in n-heptane, and CAQHA the non-dissociated benzoic acid 
concentration in water.  

The relevant concentrations for mass transfer, that are needed to solve equations (5) 
and (6), can be calculated as a function of the total concentration in each phase by 
using the acid-base equilibrium constant and the dimerization constant. This is shown 
in the equations (7) and (8). 
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To solve the equations (7) and (8), KPMON and KD were used as reported before.  They 
were determined from a fit of the equilibrium line and equal KPMON = 0.21 ± 0.05 
m³AQ m-3ORG and KD = 1.3 ± 0.7 m³ mol-1 (Visscher et al., 2011). With these constants 
known, the differential equations from equations (5) and (6) are numerically solved for 
different flow rates. Solving these balances for various values of kLaLεORG resulted in 
different steady state concentrations for each phase. The steady state concentrations 
are shown as a function of kLaLεORG in Figure 7.  
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Figure 7. A, Left: Simulation results of the steady state concentrations in the water phase 
as a function of kLaLεORG.  The continuous lines show the steady state concentrations, the 
dotted lines show the steady state concentrations at which the concentration is 95% from 
equilibrium. B, right: Simulation results of the steady state concentrations in n-heptane 
as a function of kLaLεORG.  The continuous lines show the steady state concentrations, the 
dotted lines show the steady state concentrations at which the concentration is 95% from 
equilibrium. 

For an increasing flow ratio a lower steady state concentration is reached. This is 
consistent with the experimental observations that were shown in Figure 5. For the 
outer limits of the 95% confidence interval of KPMON the corresponding values of KD 
were calculated. The effect of these different constants on kLaLεORG was modeled and 
is less than 10%. Near equilibrium, the kLaLεORG value is sensitive for errors in the 
steady state concentration measurement. Therefore, an arbitrary limit of 95% was set 
for the highest allowable extraction efficiency that can be used for the calculation of 
the kLaLεORG values. The 95% extraction efficiency limit, following from equation (9) 
is represented in Figure 7 by the dotted horizontal lines. This extraction efficiency is 
defined as: 

 
SS INIT
ORG ORG
EQ INIT
ORG ORG

C  - C
E(%) =  x 100%

C  - C
 (9) 

4.3.6. Calculation of the kLaLεORG -values  
Figure 8 shows the kLaLεORG values for a rotational disc speed ranging from 0 to 300 

RPM, and for the Ѳ = 1.1 and Ѳ = 6.8. Calculations are based on plug flow behavior 

of both phases and on the steady state concentrations in the water phase. For Ѳ = 1.1 

the overall mass transfer rate, kLaLεORG increases from 0.13 to 0.36 m³ORG m-3R s-1. For 

Ѳ = 6.8, kLaLεORG increases from 0.34 to 0.39 m³ORG m-3R s-1. For rotational disc 

speeds up to 100 RPM the specific surface area with units m²INT  m-3L, can be 
estimated from the photographic images using Photoshop CS4. For N = 50 rpm and 

Ѳ = 1.1, shown in photograph A of Figure 2, this equals at least 600 m²INT  m-3L.  
From Figure 8, kLaLεORG equals 0.13 m³ORG m-3R s-1 and from Figure 4 εORG is about 
0.5 m³ORG m-3R. This yields kLaL = 0.26 s-1.  
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With aL equal to 600 m²INT  m-3L  this makes the overall resistance to mass transfer at 
least in the order of 10-3 m³L m-2INT s-1 which is a factor 10 higher than the values 
reported for microchannels (Ghaini et al., 2010).  

 
Figure 8. kLaLεORG as a function of rotational disc speed. The kLaLεORG values are 
increasing with the aqueous to organic flow ratio. When corrected for the εORG values from 
Figure 4, the influence of the aqueous to organic flow ratio on the kLaL is small. 

 
Figure 9. kLaLεORG as a function of the rotational disc speed, calculated according to 
mixed flow behavior for both phases in the reactor.  

The latter might be due to the surface renewal rate at the liquid-liquid interface. This is 
also the governing mass transfer mechanism reported for liquid–liquid two-phase flow 
in micro structured reactors (Ghaini et al., 2010, Ghaini et al., 2011, Kashid et al., 
2010), and leads to high mass transfer rates due to the fast refreshment of the film 
volume. The formation of boundary layers on the rotor and the stator at higher 
rotational disc speeds (Poncet et al., 2005b, Schlichting et al., 1999), might facilitate 
this surface renewal. The difference in the flow pattern between 300 and 400 RPM is 
based on the back mixing due to the boundary layers that are formed. The difference 
in mass transfer rate of the two flow patterns is about a factor 10, as is seen from the 
difference between Figure 8 and Figure 9. 
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Figure 9 shows an increase in kLaLεORG from 3.79 m³ORG m-3R s-1 at 400 rpm and Ѳ = 

1.1 to 51.47 m³ORG m-3R s-1 at 1600 rpm and Ѳ = 6.8. Mixed behavior for both phases 

was assumed for these conditions. The increase in kLaLεORG for Ѳ = 5.6 from 500 to 

1600 rpm and for Ѳ = 6.8 from 500 to 1000 rpm is non-linear. The high overall mass 
transfer rate reported at rotational disc speeds higher than 300 rpm is most likely due 
to the increased turbulence intensity in the system, and the increased specific surface 
area, which are both caused by the increased shear force between the rotor and the 
stator.  

4.3.7. Performance comparison to other liquid-liquid contactors. 
The overall liquid-liquid mass transfer rates found in this study are high, when 
compared to conventional equipment. An extensive list with typical kLaL values and 
the power input for equipment used for liquid-liquid extraction is given elsewhere 
(Dehkordi, 2002, Kashid et al., 2011). They report maximum kLaL values of 0.027 s-1 

for the rotating disc column (Dehkordi, 2002), 0.011 s-1 for a packed column 
(Dehkordi, 2002), 0.032 s-1 for a static mixer (Merchuk et al., 1980), and 0.08 s-1 for an 
agitated vessel (Fernandes et al., 1967).  

More modern reactor types like a T-junction microchannel gives mass transfer rates up 
to 17.35 s-1 (Zhao et al., 2007), 0.95 s-1 for liquid-liquid slug flow in a capillary (Kashid 
et al., 2007a), and up to 14.5 s-1 for a packed bed microchannel (Su et al., 2010). With 
the n-heptane volume fraction from Figure 4 the mass transfer rates, kLaL, for the 
rotor-stator spinning disc reactor are at least 10 times higher than for the rotating disc 
column and at least 25 times higher than for a packed column.  

A conservative estimation of εORG using Figure 4 yields εORG ≈ 0.2 m³ORG m³R for 
rotational disc speeds above 300 rpm. Using this n-heptane volume fraction, kLaL can 
be calculated from kLaLεORG. At 1000 rpm kLaL equals 75 ± 10 s-1. This is already a 
factor 5 higher than to the maximum values reported for microchannels.  

At 1600 rpm, this gives kLaL of 250 ± 25 s-1, a factor 10-20 higher than the maximum 
value reported for microchannels. When the volume fractions are used reported in 
Chapter 3, still the liquid-liquid mass transfer rates are high. 

The reactor volume for a single stage in the rotor-stator spinning disc reactor equals 
50 10-6 m³. This volume can be enlarged by stacking multiple discs, which is more 
energy efficient than increasing the disc diameter (Meeuwse et al., 2012, Meeuwse et 
al., 2012). It gives the opportunity of enlarging the residence time in the reactor when 
needed.  
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The maximum allowable throughput can also be further enlarged, which is useful 
when a larger volumetric productivity is desired. This high mass transfer rate 
combined with the tunable residence times, make that the rotor-stator spinning disc 
reactor is a promising alternative for mass transfer limited co-current liquid-liquid 
processes. The reactor allows for further improvements in terms of process efficiency, 
operating expenses, waste reduction, and process safety (de Vries, 2008). 

4.4. Conclusions 
The liquid-liquid flow behavior and mass transfer rates in the rotor-stator spinning 
disc reactor were determined from extraction experiments in which benzoic acid was 
extracted from n-heptane to water. Photographic analysis of the flow pattern between 
the rotor and the stator showed three possible patterns: continuous spiraling flow, 
spiraling droplet flow and fully dispersed flow. The flow pattern has a strong influence 
on the liquid-liquid mass transfer rate.  

The overall liquid-liquid mass transfer rate increased from 0.17 m³ORG m-3R s-1 at 100 
rpm and a water flow rate of 2.5 10-6 m³AQ s-1 (water : n-heptane = 1.1:1) to 51.47 
m³ORG m-3R s-1 at 1600 rpm and a water flow rate of 12.5 10-6 m³AQ s-1 (water : n-
heptane = 5.6:1). The liquid-liquid mass transfer rates are at least 25 times higher 
compared to packed columns, and 10-15 times higher compared to microchannels. 
The reported increased liquid-liquid mass transfer rates will contribute to a better 
control over selectivity and yield and a shorter time-to-process.  
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Nomenclature 

Roman symbols 

aL     Specific liquid-liquid interfacial area, m²INT  m-3L 

D  Diffusion coefficient, m² s-1 
E  Extraction efficiency, % 
h  Rotor-stator distance, m 
kL   Mass transfer coefficient, m³L m-2INT s-1  
KA  Acid dissociation constant 
KD   Dimerization constant, mol m-³ORG 

KP  Partitioning constant, m³AQ m-³ORG 

N   Rotational speed, RPM 
V  Volume, m³ 
 

Greek Letters 

εL   Volume fraction, m³L m³R  
Ѳ   Aqueous to organic flow ratio, -  
φ   Volumetric flow rate, m³ s-1 

 

Sub and superscripts 

AQ  Water phase 
EQ  Equilibrium situation 
HA  Non-dissociated species 
INIT  Initial value 
INT  Interface of the liquids 
MON Monomeric species 
ORG n-heptane phase 
R  Reactor 
SS  Steady state 
TOT  Total  
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5. Liquid-liquid flow in an impeller-stator 

spinning disc reactor 
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Abstract 
Liquid-liquid flow patterns in an impeller-stator spinning disc reactor are qualitatively 
described. The liquid-liquid flow is studied by contacting water and n-heptane at 
rotational speeds up to 900 RPM, an axial disc spacing of 1 10-3 m, and aqueous 
volume fractions between 0 and 1 m³AQ m-3L. The liquid-liquid flow is characterized by 
six different flow regimes. Each regime is characterized by its continuous liquid phase 
and the degree of dispersion of the dispersed liquid phase. Regime transitions depend 
on the formation of boundary layers on the impeller and the stator, the shear stress 
intensity and the aqueous volume fraction. The impeller is able to selectively pump n-
heptane through the reactor, whilst it is intensively mixed with water that remains in 
the reactor. Combining mixing and separation in one compact reactor is an important 
step toward a countercurrent operated impeller-based centrifugal extractor. 
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5.1. Introduction 
The multiphase flow behavior in a chemical reactor has a major influence on the 
selectivity and conversion of a given process. Understanding of and control over this 
flow behavior is therefore essential when a novel multiphase reactor is developed for 
liquid-liquid processes (Steensma et al., 1988). An example of such a reactor is the 
rotor-stator spinning disc reactor (SDR). Due to the rotation of the rotor, a velocity 
gradient is present between the rotor and the stator. The velocity gradient causes a 
shear force to act upon the liquids between the rotor and the stator. This causes an 
increase of the liquid-liquid interfacial area and of the turbulence intensity. 
Accordingly, the liquid-liquid mass transfer rate is increased (Visscher et al., 2012d). 
The behavior of liquid-liquid and gas-liquid flow in a rotor-stator spinning disc reactor 
was reported previously (Visscher et al., 2012d, Meeuwse et al., 2010b, van der Schaaf 
et al., 2011, Visscher et al., 2012b).  

This chapter describes the flow behavior of water and n-heptane in an impeller-stator 
spinning disc reactor. In this reactor an impeller is used instead of the solid rotor in 
the SDR. The impeller has comparable geometry as the impeller in a centrifugal pump. 
In a centrifugal pump, rotation of the impeller will transfer energy from the motor to 
the fluid. Thereby the fluid is accelerated radially outward from the centre of rotation. 
In the impeller-stator spinning disc reactor, the impeller has the same function. The 
impeller is used to transport liquids radially outwards, from the center of rotation to 
the rim of the impeller. A side view of the impeller-stator spinning disc reactor is given 
in Figure 1. The direction of liquid flow in the impeller-stator configuration is shown 
in the close up of the impeller in Figure 1.  

Using an impeller instead of a solid rotor, allows for the selective through flow of the 
liquid with lower density while the liquid with higher density remains in the reactor 
(van der Schaaf et al., 2012). This is schematically shown in Figure 2. Accordingly, a 
consecutive sequence of mixing and separation is described (Visscher et al., 2012a). 
This is an important step toward counter-current liquid-liquid extraction (Trambouze 
et al., 2002). Information about the liquid-liquid flow behavior in the impeller-stator 
configuration allows for a qualitative estimation of the liquid-liquid mass transfer rate 
in impeller based centrifugal extractors (Visscher et al., 2012a).  

This chapter describes the liquid-liquid flow behavior in the impeller-stator spinning 
disc reactor by six flow regimes. These regimes are qualitatively described as a function 
of the rotational speed of the impeller and the aqueous volume fraction. The regime 
transitions are dependent on the formation of boundary layers on the impeller and the 
stator, the shear stress intensity and the aqueous volume fraction. Also, the 
requirements for selective through flow of n-heptane are discussed. 
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Figure 1. Top: schematic side view of the impeller-stator spinning disc reactor. Bottom: 
side view and top view of the impeller-stator spinning disc reactor. The side view of the 
reactor is enlarged, showing the direction of liquid flow. In impeller A the opening for 
radial outflow is located at the rim (radius 66 10-3 m). For impeller B the top plate (radius 
63 10-3 m) is smaller than the bottom plate (radius 73 10-3 m). 

 

Figure 2. Schematic representation of Case I: n-heptane (yellow) is continuously fed to 
the reactor through inlet 1 (Figure 1) and flows through the impeller (Qimpeller in Figure 1). 
At the rim of the impeller, the density difference prohibits the water droplets (in blue) to 
flow with the n-heptane flow. Accordingly, n-heptane flows selectively through the 
reactor. In Case II: The turbulence intensity at the rim of the impeller overcomes the 
gravitational force and induces a drag force that drags the water droplets to the reactor 
outlet. Water and n-heptane are not separated. There is no selective through flow of n-
heptane through the reactor.  

A           B 
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5.2. Experimental section 
5.2.1. Experimental set-up 

The reactor consists of a cylindrical transparent poly(methyl methacrylate) (PMMA) 
housing with an inner diameter of 0.152 m and an internal height of 7.0 10-3 m. Both 
above and below the impeller the axial clearance between the impeller and the stators 
equals 1.0 10-3 m (Figure 1).  

This distance is further denoted as disc spacing. The impeller is constructed out of two 
concentric circular plates connected by six vanes. Two different impellers were used; 
their top and side views and the flow directions are schematically shown in Figure 1. 
The constructional details of the impellers are given in Table 1. Impeller A is 
constructed out of stainless steel and has an equal radius for the top and bottom 
plates, both with a radius of 66 10-3 m. Impeller B is constructed out of stainless steel 
and has a radius of 73 10-3 m for the bottom plate, while the top plate has a radius of 
63 10-3 m. The total liquid volume in the reactor, VR, equals 66 10-6 m³ for impeller A, 
and 63 10-6 m³ for impeller B.  

Table 1. Constructional details of the impeller configurations. 

Property Unit  A B 

Material SS SS 
Radius top disc M 66.0 10-3 63.0 10-3 
Radius bottom disc M 66.0 10-3 73.0 10-3 
Height single disc M 1.5 10-3 1.0 10-3 
Height radial outflow M 2.0 10-3  

66 10-6  
2.0 10-3 
63 10-6 Empty reactor volume   m3 

 

The reactor is equipped with two inlets and one outlet. The first inlet is located in the 
centre of the bottom stator, and is equipped with a ¼” Swagelok® connection. The 
second inlet is located at 62 10-3 m from the centre of the bottom stator as an orifice 
with a diameter of 1.4 10-3 m and a Swagelok® connection of ⅛”. The reactor outlet is 
situated in the top stator at a radius of 33 10-3 m from the centre with a ¼” Swagelok® 
connection.  

A calibrated gear pump (E-7500-09, Bronkhorst®) is used to feed the liquids to the 
reactor, with a maximum flow rate of 15 10-5 m³ s-1. The impeller is propelled with a 
Re162 lab stirrer from IKA® laboratories. The maximum rotational speed is 1700 
RPM. The rotational Reynolds number is defined as ReΩ = ωr2v-1, and thus is 
maximized to 7.98 105. 
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5.2.2. Other equipment 
Visual observations of the fluid flow were obtained through the bottom stator and 
show the space of the reactor between rotor and stator. For photographic analysis a 
Canon® EOS 400D camera was used in combination with a Philips® PR 9113 
stroboscope. For milliseconds timescale analysis a MotionPRO® IDT Y-series high-
speed camera was used with a maximal frame rate of 1800 frames per second. Light 
intensity was enhanced by using 4 Dedocool high-intensity light sources.  

5.2.3. Chemicals 
n-Heptane (99% from Sigma-Aldrich) was used as liquid with the lower density. 
PMMA is resistant to n-heptane. Water was demineralized using a Millipore Elix UV-
10 and used as liquid with the higher density. For visualization purposes, 5 10-6 m³ 
water soluble blue ink was added to 2.2 10-3 m³ of water. Pelican® 4001 royal blue 
fountain pen ink was used. GC-MS analysis showed that the water soluble ink does 
not dissolve into n-heptane. All experiments were performed at ambient lab 
temperature, 293 ± 2 K. The density, viscosity, and surface tension of n-heptane and 
water at 293 K are shown in Table 2 (Visscher et al., 2011).  

Table 2. Density, ρ / kg m-³, viscosity, µ / kg m-1 s-1, surface tension, σ / mN·m-1, and 
interfacial tension, γorg-aq / mN·m-1, of water, n-heptane, water+ethylene glycol, and n-
dodecane at 293 K. The presence of ink is not taken into account for these data (Visscher 
et al., 2011, Tsierkezos et al., 1998, Caudwell et al., 2004, Goebel et al., 1997).  

Property Water n-Heptane Water+ 
30v% 
ethylene glycol 

n-Dodecane 
 

Density 0.99 10³ 0.68 10³ 1.04 10³ 0.75 10³ 
Viscosity 1.02 10-3 0.39 10-3 1.99 10-3 1.34 10-3 
Surface tension  72.58 20.05 62.29 25.30 
Interfacial tension  51.90  53.70 

5.2.4. Experimental procedure selective through flow  
To study the selective through flow of n-heptane through the reactor that was 
explained in Figure 2, the reactor was initially completely filled with n-heptane. After 
addition of a predefined water volume, the n-heptane flow is set to 12.6 10-6 m³ORG s-1. 
The n-heptane flow is fed to the reactor through inlet I in the bottom stator and flows 
out of the reactor though the outlet in the top stator. The rotational speed was 
increased from 0 to 400 RPM (ReΩ= 0.188 106) by steps of 50 RPM. Rotation of the 
impeller induces a flow of liquid through the impeller: both n-heptane and water will 
flow through the impeller. At the impeller outlet, at the rim of the impeller, there are 
two possibilities which are schematically shown in Figure 2. In Case I the density 
difference between water and n-heptane causes separation of the water droplets and 
the n-heptane. In Case II, the water droplets are entrained in the n-heptane. Thus, 
either selective through flow of n-heptane is accomplished (Case I, Figure 2) or n-
heptane with entrained water droplets flows out of the reactor (Case II, Figure 2). 
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5.2.5. Experimental procedure liquid-liquid flow  
To study the liquid-liquid flow between the impeller and the bottom stator, the reactor 
was completely filled with n-heptane in absence of rotation. The aqueous volume 
fraction is equal to 0 m³AQ m-3L. Then a predefined amount of water was added to the 
reactor through inlet 2 (Figure 1). The aqueous volume fraction in the reactor was 
calculated from the reactor volume and the injected water volumes. At a given 
aqueous volume fraction the rotational speed was increased stepwise from 0 to 300 
RPM (ReΩ= 1.41 105), with an increase of 25 RPM per step. At each rotational speed 
of the impeller, twenty minutes were taken to ensure that a stable flow regime was 
obtained.  

5.2.6. Experimental procedure pump curve 
The pumping capacity of the impeller was determined as is shown in Figure 3A, for 
rotational speeds up to 900 RPM. The height between the level in the feeding vessel 
and the point of outflow was kept constant at 85 10-3 m. At different rotational speeds 
liquid was collected in a graduated cylinder over a time span of 60 seconds. By 
assuming a steady state flow, an average volumetric flow rate was determined. For the 
determination of the head, the setup of Figure 3B was used. The maximum head 
delivered by the impeller was determined by measuring the liquid level in the hose 
connected to the reactor outlet.  

A plot of the pumping capacity versus the head is called a pump curve, and is 
commonly used to represent pump performance (Coulson et al., 2007). For this set-up 
the pump curve was obtained by measuring the head and the pumping capacity at a 
given rotational speed. For these experiments the reactor was filled with different 
aqueous volume fractions, ranging from 0 to 0.8 m³AQ m-3L. An n-heptane flow of 
0.126 10-3 m³ s-1

 was fed to the reactor through inlet 1 in the bottom stator (see 
Figure 1). 

 

Figure 3. The experimental set up used to determine the maximum pumping capacity (in 
m³ s-1) (A) and the maximum head (B) that can be generated from the impeller. 
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5.3. Results and discussion 
5.3.1. Selective pumping of the impeller 

Selective through flow of n-heptane through the reactor is obtained depending on the 
rotational speed and the aqueous volume fraction. The flow and pressure generated 
can be described by common pump affinity laws. Figure 4 shows the critical 
rotational speed at which the selective through flow of n-heptane is no longer possible, 
as a function of the aqueous volume fraction.  

This critical rotational speed decreases with an increasing aqueous volume fraction. 
Selective pumping is possible up to rotational speeds of 400 RPM (ReΩ= 1.88 105) 
when an aqueous volume fraction of 0.08 m³AQ m-3L is present in the reactor. For an 
aqueous volume fraction of 0.6 m³AQ m-3L this is possible up to 160 RPM. 

 
Figure 4. The rotational speed (at which water is dragged along to the reactor outlet with 

a superimposed through flow of n-heptane) versus the aqueous volume fraction.  

Increasing the rotational speed of the impeller increases the volumetric flow rate 
through in the impeller (QIMPELLER, Figure 1). Also the mixing intensity at the rim of 
the impeller is increased. Separation of the two liquids becomes more difficult to 
achieve. When the n-heptane-water interface is located at the same height as the 
impeller outlet, separation of the liquids is no longer possible. The selective n-heptane 
pumping cannot be achieved anymore. This phenomenon is observed at an aqueous 
volume fraction of 0.8 m³AQ m-3L.  

5.3.2. Flow regimes 
Six different flow regimes were observed in the space between the impeller and the 
bottom stator, as a function of the rotational speed and the aqueous volume fraction. 
In all experiments the volume between the impeller and top stator was selectively filled 
with n-heptane. This is due to the density difference, which causes the more dense 
liquid (water) to be located preferentially below the lighter phase (n-heptane).  
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For the experiments with continuous through flow in the rotor-stator SDR, the 
volume fraction of n-heptane were close (+/- 10%) to the ratio of the volumetric n-
heptane flow rate over the total volumetric flow rate (Visscher et al., 2012b). 

The observed flow regimes in this impeller-stator spinning disc reactor were 
distinguished by the liquid that is present as the continuous phase and by the degree of 
dispersion of the dispersed phase. The representation of the flow regimes as a 
function of the rotational speed and the aqueous volume fraction is further denoted as 
the flow map. The characteristics of the flow regimes that are shown in the flow map 
in Figure 5 are given in Table 3. In the following section each flow regime is 
described in more detail. The graphical representation of each regime consists of a 
photographic image, a schematic bottom view and a schematic side view. 

5.3.2.1. Full water regime 

A known amount of water was fed to the reactor through inlet 2 after completely 
filling the reactor with n-heptane. Upon the addition of water to the reactor, the space 
between the impeller and the bottom stator fills up with water. When observed from 
the bottom side, n-heptane is only visible at the rim of the reactor (Figure 6). There is 
no dispersion of n-heptane in water when the impeller rotation is absent or low. Both, 
the space between the impeller and the bottom stator, and the space inside the 
impeller fill up with water when the aqueous volume fractions exceeds 0.21 m³AQ m-3L 
(impeller A) or 0.27 m³AQ m-3L (impeller B) (Figure 7). For both situations the n-
heptane phase is located above the water layer. 

5.3.2.2. Stagnant ring regime 

The injected volume of water forms a symmetrical ring below the impeller located 
around inlet 1 when the aqueous volume fraction is lower than 0.22 m³AQ m-3L and the 
rotational speed is lower than 50 RPM (ReΩ= 23.5 103) (Figure 8). The radial position 
of the ring depends on the rotational speed. The water ring is attached to the rim of 
the impeller when the rotational speed is lower than 25 RPM (ReΩ= 11.7 103). The 
ring moves radially inwards until it reaches a steady state end position when the 
rotational speed is increased. 

5.3.2.3. Water droplet regime 

The water droplet regime is observed when the rotational speed is higher than 225 
RPM (ReΩ= 0.106 106) and the aqueous volume fraction is below 0.2 m³AQ m-3L. At 
this rotational speed, the shear force between the impeller and the stator disperses 
water into the n-heptane (Figure 9). The water droplet diameter is smaller than 1 10-3 
m at 300 RPM (ReΩ= 0.141 106). With increasing rotational speed, the water droplet 
diameter decreases further. The droplet diameter could not be determined sufficiently 
accurate below 1 10-3 m.  
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Figure 5. Flow regimes for impeller A (Figure 1), for the n-heptane-water mixture, as a 
function of the aqueous volume fraction (εAQ) and the rotational speed (N). The regimes 
are listed in Table 3. 

Table 3. Flow regime characteristics for the n-heptane-water flow. 

Regime name 
Continuous  
Phase 

Appearance Symbol 

Full water Both Homogenous  
Stagnant ring Both Ring  
Heptane droplets Water Droplets  
Heptane spiral & ring Water Spiral & ring /  

Water droplets n-Heptane Droplets  
Wavy ring  n-Heptane Ring  

 

 

Figure 6. Photograph of the bottom view and schematic representations of the bottom 

view and the side view for the full water regime. In the schematic representation water 

appears blue and n-heptane yellow. 
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Figure 7. Schematic representations of the bottom view and the side view for the full 

water regime. Water: blue; n-heptane: yellow. 

 

Figure 8. Photograph of the bottom view and schematic representations of the bottom 

view and the side view for the stagnant ring regime. In the schematic representation 

water appears blue and n-heptane yellow. 

 

Figure 9. Schematic representations of bottom view and side view of the water droplets 

regime. Water: blue; n-heptane: yellow. 

 

Figure 10. Photograph of the bottom view and schematic representations of the bottom 

view and the side view for the n-heptane spiral and ring regime. In the schematic 

representation water appears blue and n-heptane yellow. 
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5.3.2.4. Heptane spiral and ring regime  

A flow regime with two alternating flow patterns is observed for intermediate values 
of the rotational speed and the aqueous volume fractions between 0.22 and 0.44 m³AQ 
m-3L. In both patterns water acts as the continuous phase. In the first pattern, n-
heptane is present as spirals (Figure 10). In the second pattern, n-heptane is present a 
ring (Figure 11). Alternating flow patterns like this will lead to a spread in the 
measured liquid-liquid mass transfer rates at the given experimental condition. In the 
ring pattern, initially n-heptane is observed as a moving ring. This ring starts near the 
rim of the impeller and moves symmetrically radially inwards.  

This behavior is also observed during the formation of the stagnant ring regime. While 
moving radially inwards, the ring breaks up at one location and forms an n-heptane 
spiral. n-Heptane flows to the impeller inlet through this n-heptane spiral, and is 
pumped to the rim of the impeller where either a new ring or a new spiral is formed. 
The n-heptane ring has a constant thickness. Facing toward the rotational axis, a sharp 
defined interface is present between the two liquids. At the outside of the ring, facing 
the rim of the impeller, a diffuse interface exists. A photographic image is shown in 
close-up in Figure 11.  

The diffuse interface originates from overlapping boundary layers that exist on the 
impeller and the stator. The formation of centripetal oriented boundary layer on the 
rotor and centrifugal oriented boundary layer on the stator has been extensively 
studied for single phase rotor-stator systems (Harmand et al., 2013, Haddadi et al., 
2008, Poncet et al., 2005b, Poncet et al., 2005c, Nour et al., 2011, van Eeten et al., 
2012). With decreasing radius the rotational Reynolds number will decrease. For rotor-
systems with through flow this causes the boundary layers near the rotational axis to 
break down and disappear. In the boundary layer on the impeller, water is forced 
radially outwards along the impeller. This boundary layer is located above a radial 
inwards oriented boundary layer in which n-heptane is flowing.  

5.3.2.5. n-Heptane droplet regime 

An increase of the rotational speed causes dispersion of n-heptane droplets into water 
when the reactor is operated in the full water regime. This regime is shown in Figure 

12. The droplet diameter is decreasing with increasing rotational speed. This behavior 
is similar as is observed for gas-liquid and liquid-liquid flow in the rotor-stator 
spinning disc reactor (Visscher et al., 2012d). Upon rotation of the impeller, water is 
pumped through the impeller, as is indicated by the green arrows in the side view that 
is shown in the close up shown in Figure 1. This induces a liquid recycle flow from 
the bottom center of the reactor toward the rim of the impeller. Due to the density 
difference of water and n-heptane, only water is recycled.  

 



Impeller-stator spinning disc reactor

 

70 

 

Figure 11. Photographs of the bottom view and a close-up of the water-n-heptane-water 
interface. Also a schematic representation of the bottom view and the side view for the n-
heptane spiral and ring regime is given. In the schematic representation water appears 
blue and n-heptane yellow. A diffuse interface exists on the side facing the rim of the 
impeller. A sharp interface exists on the side facing the rotational axis.  

 

 

Figure 12. Schematic representations of the bottom view and the side view for the n-

heptane droplets regime. Water: blue; n-heptane: yellow. 

The drag force induced by the recycle overcomes the coalescing forces below a critical 
rotational speed. The drag force acts on the n-heptane droplets interface that is 
perpendicular to the flow direction, accordingly the drag force scales with the n-
heptane droplet diameter to the power of 2. n-Heptane droplets are sheared off at the 
n-heptane/water interface and become dispersed into the water stream. The n-heptane 
droplets are entrained the recycle flow, into the volume between the impeller and the 
bottom stator. The entrained n-heptane droplets in the water flow were confirmed by 
visual observations in a transparent impeller with equal dimensions as impeller B.  
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5.3.2.6. Wavy ring regime 

A wavy ring regime is observed when the aqueous volume fractions is lower than 0.22 
m³AQ m-3L and the rotational speed is between 50 and 250 RPM (ReΩ between 2.25 104 
and 1.17 105). In this wavy ring regime, n-heptane is present at the center the reactor 
(Figure 13, Top). A wavy structure is present at the rim of the impeller, similar to the 
wavy n-heptane-water interface that is observed in the n-heptane spiral and ring 
regime. The radial position at which the wavy ring is formed depends on the rotational 
speed. The transition radii are shown (Figure 13, Bottom) as a function of the 
rotational speed.  

The dependence on the rotational speed can be explained from two competitive 
mechanisms. At low rotational speeds the boundary layers are formed on both the 
impeller and on the stator. These layers cause a wavy regime, similar as observed for 
the n-heptane spiral and ring regime. The volumetric flow through the impeller 
increases with increasing rotational speed. Due to this increased flow inside the 
impeller, the radial inward oriented flow between the impeller and the bottom stator is 
also increased. The increased through flow causes the boundary layers to break down 
at a radius closer to the rim of the impeller (Harmand et al., 2013, Visscher et al., 
2012c). This is in accordance with previously published results on boundary layer 
formation that was observed for single phase flow (Visscher et al., 2012c).  

5.3.3. Phase inversion 
Six different flow regimes were described as a function of the rotational speed and the 
volume fraction of water. Both water and n-heptane occur as continuous phase. The 
transition in continuous phase is called phase inversion and occurs at a critical aqueous 
volume fraction, as is shown in Figure 14 (Arirachakaran et al., 1989, Norato et al., 
1998, Yeo et al., 2000). Phase inversion of the n-heptane-water system is a known 
phenomenon and is not dependent on the rotational speed, which is in accordance 
with results obtained for a stirred batch reactor (Amouei et al., 2008, Deshpande et al., 
2012). The influence of the aqueous to organic viscosity ratio on the occurrence of 
phase inversion is under debate (Selker et al., 1965, Norato et al., 1998). In general, 
when the viscosity of a phase is increased, its tendency to be dispersed is also 
increased.  

5.3.4. Flow map 
To study the general applicability of the reported flow map, the flow map was studied 
for an aqueous to organic viscosity ratio ranging from 0.76 to 5.12. The influence of 
the viscosity ratio was small, i.e. the same regimes were observed. The flow maps 
measured at the three different viscosity ratios are shown in Figure 15 (0.76), Figure 

5 (2.62) and Figure 16 (5.10). The influence of the viscosity range (0.76 - 5.10) on the 
flow map is small.  
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Figure 13. Top: photograph of bottom view and schematic representations of bottom 

view and side view of the wavy ring regime. In the schematic representation water 

appears blue and n-heptane yellow. Bottom: the wavy ring regime as a function of 

increasing rotational speed. All experiments are performed at an aqueous volume fraction 

of 0.15 m³AQ m-3
L. The rotational speed equals 75 RPM (ReΩ= 35.2 103) for picture A, 150 

RPM (ReΩ= 70.4 103) for picture B, 175 RPM (ReΩ= 82.1 103) for Picture C, and 200 RPM 

(ReΩ= 93.8 103) for Picture D. In the photographs, the radial length of the water volume is 

marked with a red line.  

 

Figure 14. Water-in-n-heptane dispersion changes into heptane-in-water dispersion on 
the point of phase inversion when aqueous volume fraction is increased (Arirachakaran et 
al., 1989). Water: blue; n-heptane: yellow. 

 

This is in contradiction with previous published results on the phase inversion of the 
n-heptane/water system. The reported flow map is thus general applicable within the 
rotation speed ranging from 0 to 275 RPM (ReΩ= 0.129 106), the aqueous volume 
fractions ranging from 0 to 1 m³AQ m-3L, and a viscosity ratio of  0.76 to 5.12. 
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Figure 15. Flow map for the dodecane/water system with the observed regimes as a 
function of the rotational speed and the aqueous volume fraction. The viscosity ratio is 
0.76. When compared to the n-heptane-water flow map, the water droplet regime is 
absent. The map is determined using impeller B, see Figure 1. 

 

Figure 16. Flow map for the water-30% ethylene glycol/n-heptane system with the 
observed regimes as a function of the rotational speed and the aqueous volume fraction. 
The viscosity ratio equals 5.12. The map is determined using impeller B, see Figure 1. 

5.4. Conclusions 
Liquid-liquid flow in an impeller-stator spinning disc reactor is described. The impeller 
has a comparable function as the impeller in a centrifugal pump, and transports liquid 
from the bottom center to the rim of the impeller. The impeller-stator configuration is 
able to selectively pump the lighter liquid phase through the reactor, whilst it is 
intensively mixed with a heavier liquid phase that remains in a stage of the reactor.  
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Combining mixing and separation in one compact reactor is an important step toward 
a counter-current operated impeller-based centrifugal extractor. Water and n-heptane 
were contacted rotational speeds between 0 and 900 RPM (ReΩ= 4.22 105), and 
aqueous volume fractions between 0 and 1 m³AQ m-3L. Six different flow regimes were 
observed in the space between the impeller and the bottom stator. Dispersion is 
absent in the full water regime (rotational speed below 50 RPM) and the stagnant ring 
regime.  Water is the dispersed phase in the water droplets regime (rotational speed 
above 200 RPM) and wavy ring regime (rotational speed between 50 and 200 RPM). n-
Heptane acts as the dispersed phase in the n-heptane droplets regime and the spiral 
and ring regime. Flow regime transitions are dominated by three effects: the formation 
of boundary layers on the impeller and the stator, the shear stress intensity and the 
aqueous volume fraction. With this information about the liquid-liquid flow behavior 
in the impeller-stator configuration, a qualitative estimation of the liquid-liquid mass 
transfer rate in an impeller based centrifugal extractors is possible. 

Nomenclature 

Roman symbols 

H  Head, m 
N  Rotational speed, RPM 
Q  Volumetric flow rate, m³ s-1 
R   Radius, m 
ReΩ  Rotational Reynolds number, ω R2 υ -1 
SS  Stainless steel 
V  Volume, m³ 
 

Greek letters 

γ  Interfacial tension, mN·m-1 
εAQ   Aqueous volume fraction, m³AQ m-3L 

µ   Viscosity, kg m-1 s-1 
ρ   Density, kg m-³ 
σ   Surface tension, mN·m-1 

υ  Kinematic viscosity, m2 s-1 

ω  Rotational disc speed, rad s-1 

 

Sub- and superscripts 

ORG Organic 
AQ  Aqueous 
L  Liquid 
R  Reactor 
IV  Inversion 
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6. Counter-current liquid-liquid extraction 

in a high-gravity extractor  
 

 

 

 

 

 

 

 

 

 

 

 

 

This chapter has been submitted for publication: 

F. Visscher, S. Saffarionpour, M.H.J.M. de Croon, J. van der Schaaf, J.C. Schouten, 
“Counter-current liquid-liquid extraction in a high-gravity extractor”, AIChE 
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Abstract 
Liquid-liquid extraction is a common separation technique in the chemical industry. 
Most industrial extractions are performed in equipment that requires large inventories 
and long processing times. A counter-current liquid-liquid extractor is demonstrated 
here that uses high-gravity conditions for the subsequent contacting and separation of 
n-heptane and water. This extractor is based on rotor-rotor spinning disc technology, 
and processes up to 5 m³ liquid per day. The height of a transfer unit, and thus the 
extractor volume, is ten times lower as compared to other types of centrifugal 
extractors. Liquid-liquid extraction processes can therefore be intensified.  
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6.1. Introduction 
Liquid-liquid extraction is a purification technique based on the distribution of a solute 
over two liquid phases (Muller et al., 5008). It is used for a wide range of applications 
in the chemical industries (e.g., in oil refineries to separate aromatics from aliphatic 
hydrocarbons, in the food industry to produce vitamins, and in biotechnology to 
produce temperature sensitive compounds). In 1805, F.W. Sertüner used liquid-liquid 
extraction to purify morphine (Klockgether-Radke, 2002).  

At that time, liquid-liquid extraction was executed batch wise, i.e., over a repetitive 
sequence of mixing and separation steps. In current practice, extraction is performed 
in gravity-driven, continuously operated equipment (Míšek, 1994). Counter-current 
flow of the two fluids is essential for an efficient extraction process: there is cross-over 
of the solute between two liquids that are flowing in opposite directions. In the 
chemical industry counter-current operated equipment can have volumes up to 700 m³ 
(Trambouze et al., 2002).  

Such equipment can be a mixer-settler sequence (Hashtochahar et al., 2010), a Kuhni 
column (Gomes et al., 2009), a packed column (Varteressian et al., 2002), or a rotating 
disc contactor (Al-Rahawi, 2007, Trambouze et al., 2002). The large volume is required 
when liquids with a small density difference (<10%) are separated. Centrifugal 
extractors were developed to reduce the equipment volume and processing time with 
two orders of magnitude and to enhance the separation efficiency over 99.9% 
(Gebauer et al., 1982).  

In centrifugal extractors, the settling effect of the density difference is exploited in 
combination with the centrifugal force. In addition, the liquids are mixed more 
intensely due to the fact that they accelerate and decelerate radially. Such extractors, 
such as the Podbielniak extractor (Barson et al., 1953, Podbielniak et al., 1959), the 
annular centrifugal extractor (Deshmukh et al., 2007), and the Westfalia/Luwesta 
extractor (Likidis et al., 1989), reduce the equipment volume but are hard to scale up 
in terms of maximum through flow. Multiple contacting stages are needed to achieve 
sufficient mass transfer. Full separation of the two liquid phases between each 
contacting stage is essential. Incomplete separation of the two liquid phases will 
decrease the number of contacting stages in the equipment and will thus lead to an 
increase of the inventory volume (Ingham et al., 2007). For existing centrifugal 
extractors like the annular centrifugal and the Podbielniak extractor, every additional 
contacting step requires a new entire module, which implies a multiplication of the 
required inventory volume.  

This chapter describes the ability of a counter-current operated centrifugal extractor to 
consecutively mix and separate two immiscible liquids. The realized extractor has a 
liquid volume of 100 10-6 m3 and is able to separate 5 m³ of mixture per day.  
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This is comparable to flow rates used in the fine chemical industry. The extractor is 
based on spinning disc technology, which is known for its excellent performance to 
contact liquid-liquid, liquid-gas, and liquid-solid mixtures (Visscher et al., 2012d, van 
der Schaaf et al., 2011, Meeuwse et al., 2010b, Meeuwse et al., 2012). In this chapter, 
the separation efficiency of the device is illustrated by the separation of an immiscible 
oil-water mixture, represented by water and n-heptane.  

The extractor presented in this chapter opens up the application of liquid-liquid 
separations at locations where equipment needs to handle rapidly changing feed 
streams, and at locations where floor area or gravity is limited, e.g., offshore oil drilling 
platforms or in outer space. Purification and recycling processes are essential for 
sustainable life support in space.  

For example, the Environmental Control and Life Support System (ECLSS) uses 
vapor compression distillation to re-process urine on board the International Space 
Station (ISS) (Parker et al., 1999). Centrifuge enhanced liquid-liquid extraction has not 
been applied in space, but will be necessary in the long term to reduce the 
consumption of raw materials and to reduce energy usage.  

6.2. Experimental section 
6.2.1. Experimental set-up 

A schematic side view of the extractor is depicted in Figure 1. A single contacting 
stage consists of an impeller, which is enclosed by a co-rotating enclosure. The 
combination of the enclosure-impeller-enclosure gives a rotor-impeller-rotor 
sequence. Two weirs co-rotate adjacent to the cylindrical enclosure. The impeller (light 
grey) has a maximum diameter of 170 10-3 m and is enclosed in a co-rotating 
cylindrical enclosure (dark grey) with an inner diameter of 180 10-3 m (van der Schaaf 
et al., 2012). The central shaft and the impeller are made of stainless steel. The external 
housing (enclosure) and the weirs are made of poly(methyl methacrylate) (PMMA) for 
visualization purposes.  

A schematic cross section of the single-stage extractor is shown in Figure 1. The 
impeller is schematically shown in Figure 2. The impeller consists of a top disc with a 
diameter of 146 10-3 m and a bottom disc with a diameter of 170 10-3 m. The inner 
diameter of the extractor is equal to 180 10-3 m. The outer diameter of the single-stage 
extractor is equal to 242 10-3 m. The top and bottom discs are connected by six vanes 
with a height of 2 10-3 m. Two weirs are mounted on the rotating enclosure. The weirs 
have a thickness of 1 10-3 m. The spacing between the impeller and the weirs, as well 
as the spacing between the weirs and the enclosure is equal to 1 10-3 m. The maximal 
distance between the impeller and the enclosure is thus maximized to 3 10-3 m.  
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Figure 1. Schematic side view of a single-stage spinning disc based extractor. The 

impeller (light grey) pumps a liquid with lower density (yellow) from left to right, via A, 

B, C, D, E, to F. The liquid with higher density (blue) is simultaneously fed from right to 

left, via G, H, I, J, to L. At the impeller outlet, C, the liquid with lower density is 

dispersed in to the liquid with the higher density, thereby generating high interfacial 

area. 

 

Figure 2. Schematic top view and side view of the stainless steel impeller used in the 
single-stage and three-stage extractor. Six vanes connect the top disc to the bottom disc. 
The entire set of the top disc (blue), bottom disc (grey) and vanes forms an impeller. 
Upon counter-clock wise rotation of the impeller, a pressure gradient between the 
impeller inlet at the center and the outlet at the rim will cause a liquid flow. 
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6.2.2. Operational principle  
The impeller pumps the liquid with the lower density (yellow) from left to right 
(Figure 1, A to F) and operates similar to the impellers used in centrifugal pumps 
(Coulson et al., 2007, Visscher et al., 2012a). Simultaneously the liquid with the higher 
density is fed from right to left (Figure 1, G to L). Both liquids are in intimate contact 
at the rim of the impeller (Figure 1, C), where the liquid with lower density is 
dispersed into the liquid with the higher density. The two liquids are mixed by the 
turbulence generated by the difference in rotation speed of enclosure and impeller.  

Liquids present in the volume between the enclosure and the weirs are susceptible to 
the centrifugal force. The phase with the lower density (heptane, yellow) is therefore 
forced radially inwards, and the phase with the higher density (water, blue) is forced 
radially outwards. Due to the density difference between water and heptane, the 
heptane droplets cannot pass though the volume between the weir and the adjacent 
enclosure. This separation principle is also applied in the mixer-settler combination, 
which is currently the common workhorse of liquid-liquid extraction (Hashtochahar et 
al., 2010, Brunner, 2009). Multi-stage contacting can be obtained by repeating the 
sequence of rotor-impeller-rotor. 

6.2.3. Extractor volume 
A schematic sideview of the complete extractor is shown in Figure 3. The extractor 
volume occupied by either water or heptane is marked in red. This volume equals 192 
10-6 m³. The extractor volume where mass transfer occurs is lower and equals 139 10-6 
m³. This volume is marked green in Figure 3. 

6.2.4. Materials 
Water and n-heptane were selected as liquids to demonstrate the separation efficiency 
of the extractor. These liquids were used as a test system for the determination of 
liquid-liquid mass transfer rates (Visscher et al., 2011, Visscher et al., 2012d). n-
Heptane was obtained from Sigma-Aldrich (99 v%). For all experiments, 
demineralised water was used. The demiwater was purified with a Millipore Elix UV-
10 machine. Pelikan Royal Blue ink was used as a dye for the water phase in the 
visualization experiments. No further purification was performed on the chemicals. All 
experiments were performed at ambient laboratory temperature. The physical 
properties of the used chemical systems at 293 K are given in Table 1. 

Table 1. Density, ρ / kg m-3, viscosity, η / kg m-1 s-1, benzoic acid solubility, S / mol%, 
and interfacial tension with water, σ  / mN m-1, at 293 K for water and n-heptane 
(Visscher et al., 2011). 

Property ρ / kg m-³ η / kg m-1 s-1 S / mol% σ  / mN m-1 
Water  998.2  1.02 10-3  4.95 10-4  -  
n-Heptane 683.7  0.39 10-3  1.17  51.24  
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6.2.5. Experimental approach 
Water and heptane are contacted in countercurrent mode at aqueous to organic flow 
ratios ranging from 1:1 to 1:5 with a maximum total flow rate of 5.1 m³ mixture per 
day. The residence time for each phase thus varies from 2 to 70 seconds. The 
separation efficiency of the extractor is determined as a function of the rotational 
speeds and the flow ratio. The maximum rotational speeds of both the impeller and 
the rotational enclosure is limited to 700 RPM. The separation efficiency is determined 
by collecting the volume at the aqueous and organic outlets (Figure 1, F and L) over 
60 seconds in a (calibrated) graduated cylinder of 500 10-6 m3. The separation 
efficiency is defined as the ratio of the volume of the desired liquid over the total 
collected volume in the graduated cylinder (eqs. (1) and (2)). 

 AQ

AQ ORG

V
Aq : 100%

V V
⋅

+
 (1) 

 ORG

AQ ORG

V
ORG : 100%

V V
⋅

+
 (2) 

 

 

Figure 3. Schematic view of the extractor. (A) Extractor, (B) Top view, (C) Side view 
with the total extractor volume available for fluid marked red. (D)  Enlarged zoom 
where the volume in which mass transfer can occur is marked green. 
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6.2.6. Mass transfer experiment 
A heptane solution with a benzoic acid concentration of 50 mol m-3 was made by 
dissolving 15.27 g in 2.5 10-3 m3 of heptane. Mass transfer experiments were 
performed by contacting a benzoic acid rich heptane solution with a benzoic acid free 
water solution. The physical properties of heptane and water are collected in Table 1. 
Steady state operation of the single-stage extractor was awaited for approximately six 
residence times of both phases. The benzoic acid concentrations in heptane and water 
were measured with offline UV-VIS equipment.  

6.3. Results and discussion 
6.3.1. Liquid-liquid separation 

Water and heptane are contacted in counter-current mode in the extractor (Figure 1) 
as a function of the rotational speeds of the impeller and of the enclosure. The 
separation efficiency is determined at both outlets (Figure 1, points L and F) and is 
shown in Figure 4. Both rotational speeds were limited to 700 RPM. Equal flow rates 
of water and n-heptane were applied of 5 10-6 m³ s-1. At 450 RPM of the impeller and 
350 RPM of the enclosure, a separation efficiency >99.9% is obtained for both outlets. 

 
 
Figure 4. The separation efficiency of the spinning disc extractor is shown as a function 
of the rotational speeds of the impeller and the enclosure. Both the separation efficiency 
at the organic outlet (left) and the aqueous outlet (right) are shown. The highest 
separation efficiency is achieved when the rotational speed of the enclosure is close to 
that of the impeller. Separations are determined at aqueous and organic phase flow rates 
of 5 10-6 m3 s-1. The separation efficiency is scaled from 20% (blue) to 100% (red). 

Three main conclusions are drawn based on Figure 4. First, the highest separation 
efficiency is achieved when the rotational speed of the enclosure is close to the 
rotational speed of the impeller. Second, a higher separation efficiency is obtained 
when the enclosure is rotating faster than the impeller. Third, the separation efficiency 
at the organic outlet (Figure 1, point F) is higher than the separation efficiency 
determined at the aqueous outlet (Figure 1, point L).  
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A higher separation efficiency is achieved in the single-stage extractor when the 
rotational speed of the impeller and the enclosure are in close proximity, i.e., when the 
difference in rotational speeds is below 100 RPM. Under these conditions, larger 
heptane droplets are created because the shear stress between the impeller and the 
rotating enclosure is low. This relation between shear stress and droplet size has 
previously been observed in rotor-stator spinning disc configurations (Meeuwse et al., 
2010b, Visscher et al., 2012a, Visscher et al., 2012b). Since the settling velocity of 
droplets increases with the square root of the droplet diameter, larger droplets are 
easier to separate. 

For single phase flow in rotor-rotor systems, a radial inward flow in a boundary layer 
is present when the enclosure is rotating faster than the impeller (Will et al., 2009). 
Boundary layer development for multiphase flow in rotor-rotor or rotor-stator systems 
has not been described in the literature. We assume that a radial inwards oriented 
boundary layer (which starts at the rim of the impeller, Figure 1, point C) will be 
present on the impeller and will be directed towards the organic outlet of the extractor 
(Figure 1, point E). The lighter heptane phase is selectively entrained in this boundary 
layer. The through flow in this boundary layer thus increases with an increase of the 
rotational impeller speed.  

The combined effect of the flow in this boundary layer and the centrifugal force that 
acts on the density difference between the liquids enhances the transportation of the 
light phase from the rim of the impeller (Figure 1, point C) to the liquid-liquid 
interface (Figure 1, point E). Therefore, the separation efficiency at the organic outlet 
is higher when the rotational speed of the impeller is increased. The separation 
efficiency at the aqueous outlet (Figure 1, point L) is lower when compared to that of 
the organic outlet (Figure 1, point F) because heptane droplets are entrained in the 
water flow. This means that coalescence of the heptane droplets at the liquid-liquid 
interface (Figure 1, point D) is stronger than the separation between the rotating 
enclosure and the weir (Figure 1, point J). Increasing the weir height would thus 
improve the separation efficiency at the aqueous outlet. 

6.3.2. Mass transfer experiments 
Mass transfer experiments have shown that equilibrium can be reached in one 
contacting stage, i.e., in one set of subsequent mixing and separation. The benzoic acid 
concentration in heptane decreases over time and the benzoic concentration in water 
increases. Comparing the measured outlet concentrations with published equilibrium 
data shows that the benzoic acid concentrations are in equilibrium (Visscher et al., 
2011) when the impeller is rotated at 300 RPM and the enclosure is rotated at 200 
RPM.  
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This proves that the shear stress present at a difference in rotational speed of 100 
RPM generates sufficient mass transfer to reach equilibrium. From the initial 
concentrations, the outgoing concentrations and the flow rates, it was concluded that 
the mass balance is accurate within more than 99%. 

It is assumed that both heptane and water behave as mixed phases. This implies that 
equilibrium is reached during the mixing phase in one rotor-impeller-rotor sequence, 
and thus that this sequence equals one contacting stage. If either heptane or water 
would behave as a plug flow-volume while flowing from the rim of the impeller 
(Figure 1, point C), the counter-current flow in the extractor implies that multiple 
contacting stages could be reached in one rotor-impeller-rotor sequence. The 
assumption of mixed behavior thus yields a minimum value of the number of transfer 
units. 

The extractor presented in this chapter has a length of 77 10-3 m and contains one 
rotor-impeller-rotor stage. This equals 13 transfer units per meter (H.T.U. = 0.077 m). 
Adding an additional contacting stage increases the extractor length with 14 10-3 m. 
The height of transfer unit (H.T.U) thus equals 14 10-3 m when the number of stages is 
increased, assuming one meter of extractor length yields than 70 stages. 

6.3.3. Extractor comparison 
Comparing liquid-liquid extraction equipment is a complex task. Essential parameters 
are the capacity (in m³ per day), extractor efficiency (in transfer units per meter), 
extractor volume (in m³), and power requirements of the extractor and the pumps (in 
kW). One way to compare centrifugal extractors is shown in the Stichlmair plot shown 
in Figure 5. The x-axis shows the capacity, which is defined as cubic meter liquid per 
square meter area per hour (Stichlmair, 1980, Frank et al., 2012). The initial publication 
did not include centrifugal extractors. This so-called Stichlmair plot is updated here 
with centrifugal extractors in Figure 6 and Table 2. 

In the original publication, the cross sectional area of the equipment is taken as the 
area perpendicular to the flow direction. Stacking multiple contacting stages on one 
rotating shaft yields an equal geometry for centrifugal extractors as for conventional 
extractor columns. The cross sectional area of the centrifugal extractors is calculated 
from the inner diameter of the rotating element (Table 2). The height of a transfer 
unit of the rotor-rotor spinning disc extractor is ten times lower compared to other 
centrifugal extractors like the Podbielniak and the Rousselet-Robatel extractor. This 
implies that the equipment volume can be reduced by a factor 10.  
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Table 2. Design data of various centrifugal extractors. Total volumetric flow rate, FV, 
extractor diameter, D, extractor height, H, extractor area, A, motor power, P, number of 
transfer units in one extractor, N.T.U., height of a transfer unit, H.T.U., number of 
transfer units per length, and the extractor capacity, C. 

FV / D / H / A /  W / P / N.T.U H.T.U Stages  C / 

m3 hr-1 m m m² kg kW /m m/s 

Podbielniak 

          A1 0.03 0.30 0.30 0.07 68 1.87 7.7 0.04 25.67 0.4 

B10 6.81 1.38 0.83 1.48 1226 5.00 6.5 0.13 7.88 4.6 

D18 11.10 1.90 1.13 2.84 3904 7.46 5.5 0.20 4.89 3.9 

E48 113.5 2.83 1.48 6.27 9761 16.41 4 0.37 2.71 18.1 

CINC 

CS50 0.11 0.23 0.54 0.05 11 0.18 1 0.54 1.87 2.2 

CS125 1.36 0.31 0.91 0.09 68 1.50 1 0.91 1.09 14.6 

CS250 6.81 0.70 1.52 0.49 340 6.50 1 1.52 0.66 13.9 

CS400 20.44 0.91 1.96 0.84 1361 11.00 1 1.96 0.51 24.5 

CS500 45.42 1.22 2.57 1.49 2041 30.00 1 2.57 0.39 30.5 

Rousselet-

Robatel 

          LX122 0.03 0.12 1.13 0.01 180 0.75 2 0.57 1.77 2.7 

LX123 0.03 0.12 1.17 0.01 185 0.75 3 0.39 2.56 2.7 

LX124 0.03 0.12 1.20 0.01 190 0.75 3 0.40 2.50 2.7 

LX126 0.03 0.12 1.28 0.01 210 0.75 6 0.21 4.69 2.7 

LX202 0.30 0.20 1.25 0.03 220 1.50 2 0.63 1.60 9.6 

LX204 0.30 0.20 1.33 0.03 240 1.50 4 0.33 3.01 9.6 

LX323 1.80 0.32 0.76 0.08 280 5.50 3 0.25 3.95 22.4 

LX325 1.30 0.32 0.76 0.08 300 5.50 5 0.15 6.58 16.2 

LX363 2.10 0.36 0.76 0.10 300 7.50 3 0.25 3.95 20.6 

LX365 1.50 0.36 0.76 0.10 320 7.50 5 0.15 6.58 14.7 

LX524 6.00 0.52 1.10 0.21 1020 18.5 4 0.28 3.64 28.6 

LX527 3.50 0.52 1.10 0.21 1080 18.5 7 0.16 6.36 16.7 

LX574 8.00 0.57 1.10 0.26 1100 18.5 4 0.28 3.64 31.4 

LX576 6.00 0.57 1.10 0.26 1160 18.5 6 0.18 5.45 23.5 

This work          

1-stage 0.02 0.18 0.08 0.03 25 3 1 0.08 12.99 0.7 

3-stage 0.22 0.18 0.11 0.03 48 3 3 0.01 71.43 8.5 
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Figure 5. Original Stichlmair plot which shows number of efficiency stages per meter 
versus the capacity (Frank et al., 2012). 

 

 

 

Figure 6. Reactor comparison in a Stichlmair plot (Stichlmair, 1980). Centrifugal 
extractors are indicated by the blue, red and green circles, non-centrifugal extractors are 
indicated by the shaded ellipse figures in the diagram. The spinning disc extractor (red) 
presented in this study has a factor 10 more contacting stages per meter when compared 
to extractors from Podbielniak (black), CINC (green), or Rousselet-Robatel (blue). 
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The local energy dissipation in the liquid-liquid mixture is not known for the various 
centrifugal extractors. However, the maximum power consumption of the motor that 
propels the rotating reactor parts is available in public literature supplied by the 
equipment manufacturers (Table 2). The maximum power consumption of the motor 
is on the same order of magnitude as for other centrifugal extractors (Figure 7 and 
Table 2).  

 
Figure 7. The number of transfer units per meter versus the maximum power 
consumption of the motor that drives the centrifugal extractor (in kW). The spinning disc 
extractor contains more transfer units per stage, at a power consumption that is of the 
same order of magnitude as for other centrifugal extractors. Data is taken from Table 2. 

A last advantageous and unique aspect of the extractor is the ability of tuning mixing 
and separation efficiency individually. The mixing intensity, represented by the mass 
transfer rate, is determined by the net shear stress between the impeller and the 
enclosure. The separation efficiency can be enhanced by increasing the intensity of 
centrifugal force, which is determined by the rotational speed of the enclosure. For a 
given rotation speed of the enclosure the rotation speed of the impeller determines the 
difference in rotation speed and thus the mixing intensity. 

6.4. Conclusions 
A single-stage counter-current extractor is presented, which is based on rotor-rotor 
spinning disc technology. Counter-current contacting and consecutive complete 
separation of 5 m³ total liquid per day is successfully achieved at rotational speeds 
below 450 RPM. The single-stage extractor can be extended in order to obtain multi-
stage counter-current contacting with only 102 mL per stage. The height of a transfer 
unit is at least a factor 10 lower when compared to common centrifugal extractors. 
This spinning disc based extractor thus allows for significant intensification of 
separation processes, which is essential for applications in environments where 
equipment volume is limited, like on oil rigs and in space. 
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Nomenclature 

Roman symbols 
A  Column area perpendicular to flow direction, m2 
C  Concentration, mol m−3 

D  Diameter, m 
FV  Volumetric flow rate, m3 s−1 

H  Height, M 
kLaL  liquid-liquid mass transfer rate, s−1 
N  Rotation speed, RPM 
P  Maximum power consumed  by the motor, kW 
S   Solubility, mol% 
t  Time, s 
V  Volume, m3 

W  Weight, kg 
  

 
Greek letters 
 εORG  Organic phase volume fraction, m3ORG m−3R 
 
Sub and superscripts 
 AQ  Aqueous phase 
 HA  Non-dissociated acid 
 MON  Monomer 
 ORG  Organic phase 
 R  Reactor 
 SS  Steady state 
 TOT  Total 
 0  Initial value 
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7. Liquid-liquid extraction in a three stage 

high-gravity extractor 
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Abstract 

This chapter presents a novel counter-current operated three-stage spinning disc 
extractor in which benzoic acid is extracted from n-heptane to water.  Each contacting 
stage of the extractor consists of a rotor-impeller-rotor sequence. The mixing intensity 
and the separation efficiency in the extractor can be chosen independently by the 
separate adjustment of the rotational speeds of the impellers and the enclosure. The 
volume of one contacting stage is 102 10−6 m3. This stage volume is a factor 10 
smaller than for other centrifugal extractors. Each additional contacting stage extends 
the extractor length with 1.4 10−2 m. The first prototype of the extractor processes a 
total volumetric flow of 0.86 m3 day−1. The separation efficiencies at the extractor 
outlets and the degree of back mixing between consecutive contacting stages are 
reported. The separation efficiency can be tuned to >99.9% for rotational speeds 
below 1500 RPM. Mass transfer experiments have shown that the solute 
concentrations between n-heptane and water reach equilibrium at each contacting 
stage.  



Three stage extractor

 

90 

7.1. Introduction 
Liquid-liquid extraction is a purification technique based on the distribution of a solute 
between two liquid phases (Muller et al., 5008). It is widely applied in chemical 
industry, e.g. to separate aromatics from aliphatic hydrocarbons, to produce 
temperature sensitive vitamins, and to manufacture nylon-6. Liquid-liquid extraction 
can be performed in co-current and counter-current mode. In co-current multistage 
extraction the solute concentration in both liquid phases reaches equilibrium. Adding 
more contacting stages does not result in a further solute transfer between the two 
liquid phases. In counter-current operation there is cross-over of the solute between 
two liquids that are flowing in opposite directions. Thus one contacting stage requires 
consecutive mixing and separation of the two liquids. Increasing the number of 
contacting stages allows to transfer the solute between the phases almost completely. 
This is shown in Figure 1.  

 

Figure 1. Concentration profiles for counter-current (blue) and co-current (red) 
extraction. A solute is transferred from an initially solute rich aqueous phase (solid line) 
towards an initially solute-free organic phase (dotted line). In the co-current scheme the 
solute distribution reach equilibrium. In counter-current flow the solute is transferred 
almost completely between the phases. 

Incomplete separation between contacting stages decreases the net amount of 
transferred solute (Ingham et al., 2007). The ability of an extractor to separate liquids, 
further denoted as the separation efficiency, is therefore an essential characteristic of 
liquid-liquid extraction equipment. Counter-current liquid-liquid extraction is often 
operated in gravity driven, continuously operated counter-current extractors (Míšek, 
1994). Examples are the Kuhni column (Gomes et al., 2009), the packed column 
(Varteressian et al., 2002), and the rotating disc contactor (Al-Rahawi, 2007, 

Trambouze et al., 2002). In such extractors liquids are separated due to the effect of 
gravity on the density difference between the liquids. The length of an extraction 
column increases when the density difference becomes smaller. Liquid-liquid 
extraction columns can have volumes up to 700 m3 (Trambouze et al., 2002). 
Accordingly the liquids have relatively long residence times in the range of hours.  
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Centrifugal extractors were developed to reduce the equipment volume with at least a 
factor 100, reduce the processing time accordingly and to enhance the separation 
efficiency (Gebauer et al., 1982). Examples of such extractors are the Podbielniak 
extractor (Barson et al., 1953, Podbielniak et al., 1959), the annular centrifugal 
extractor (Deshmukh et al., 2007), and the Westfalia/Luwesta extractor (Likidis et al., 
1989). In order to obtain multiple contacting stages in centrifugal extractors every 
additional contacting step requires an entire new module, which implies a considerable 
increase of floor space requirements.  

A low-volume single-stage counter-current extractor which is based on rotor-impeller-
rotor spinning disc technology has been repeated earlier (van der Schaaf et al., 2012, 

Visscher et al., 2013, Visscher et al., 2012d). This single-stage extractor allows for the 
subsequent contacting and separation of two immiscible liquids, in this study 
represented by n-heptane and water.  

A schematic side view of the single-stage extractor is shown in the previous chapter. 
The single-stage extractor consists of one rotor-impeller-rotor sequence. Two weirs 
are rotating along with the enclosure. Liquids present in the volume between the 
enclosure and the weirs are susceptible for the centrifugal force. Droplets of the phase 
with the lower density (n-heptane, yellow) flow therefore radially inwards. The impeller 
pumps the liquid with the lower density from left to right and operates similar to the 
impellers used in centrifugal pumps (Coulson et al., 2007, Visscher et al., 2012a). 
Simultaneously the liquid with the higher density (water, blue) is fed from right to left. 
Both liquids are in intimate contact at the impeller outlet, where the liquid with the 
lower density is dispersed into the liquid with the higher density. 

In this chapter, the single-stage extractor is extended with two additional contacting 
stages to demonstrate extractor scale-up. This chapter describes the separation 
efficiency of a counter-current operated three-stage extractor with a volume of 102 
10−6 m3 per stage. The separation efficiency is determined by the separation of two 
immiscible liquids, represented by n-heptane and water. Additionally, for a separation 
efficiency above 99.9%, the number of contacting stages is determined by extraction 
of benzoic acid from n-heptane to water. The operating principle of the three-stage 
extractor is shown in Figure 2.  

The small extractor volume allows for a rapid change in product stream which reduces 
the down-time of the extractor. Additionally, the small extractor internal surface opens 
up the application of exceptional coatings of the extractor parts like platinum and 
tantalum. These expensive construction materials are often essential to prevent 
corrosion of the extraction equipment. 
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7.2. Experimental section 
The diameter of the three-stage extractor is equal to the diameter of the single-stage 
extractor (Visscher et al., 2013). The impellers and the enclosure are co-rotating. The 
impellers consist of a top disc with a diameter of 146 10−3 m and a bottom disc with a 
diameter of 170 10−3 m. The top and bottom discs are connected by six vanes with a 
height of 2 10−3 m. The inner diameter of the extractor is equal to 180 10−3 m; the 
outer diameter of the single-stage extractor equals 242 10−3 m. The weirs have a 
thickness of 1 10−3 m (points C1, C2 C3 and D1, D2, D3, Figure 2), and are mounted 
adjacent to the enclosure (Dark grey in Figure 2). These weirs are concentric rings. 
The inner diameter of the concentric rings at the inlet side of the impellers (Points C1, 
C2, C3, Figure 2) is 30 10−3 m. An illustration of the fluid flow directions and the 
mechanical construction is given in the Figures 3-8. 

 

Figure 2. A schematic view of the three-stage spinning disc based extractor. Increasing 
the extractor with two contacting stages increases the length of the extractor with 2.8 10−2 
m. The height equivalent of a theoretical stage thus equals 1.4 10−2 m. Each additional 
contacting stage equals 102 10−6 m3 of extractor volume. 
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Figure 3. The low-volume three-stage extractor is mounted on a stand-alone frame. The 
extractor fits on a normal pallet and requires little floor-space, as can be seen in the 
comparsion to a human being 

. 

 

Figure 4. The extractor consists of two co-rotating rotating elements: the enclosure (in 
blue) and the impellers (not visible). 
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Figure 5. Side view of the three-stage prototype. Three impellers-in-series are placed on a 
single rotatable shaft, inside the enclosure. Weirs are present between the impellers and 
separate the consecutive stages. 

 

 

Figure 6. The impeller consist of a top disc with a diameter of 146 10−3 m and a bottom 
disc with a diameter of 170 10−3 m. The top and bottom discs are connected by six vanes 
with a height of 2 10−3 m. Three impellers are mounted on a single rotatable shaft, and are 
separated by weirs which are co-rotating with the enclosure. 
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Figure 7. Operating principle of the three-stage extractor. The liquid with the lower 
density flows from right to left (shown as the transition of yellow to red). The liquid with 
the higher density flows from left to right (shown as the transition of blue to green). In 
this way a repeating step of intense mixing and complete separation is achieved three 
times. 

 

Figure 8. Close-up of Figure 7 showing a single contacting stage. The fluid flow 
directions are shown, together with the names of the mechanical elements. 
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The inner diameter of the concentric rings at the outlet side of the impellers (Points 
D1, D2, D3, Figure 2) is 25 10−3 m. The spacing between the impeller and the weirs, 
as well as the spacing between the weirs and the enclosure equals 1 10−3 m. The 
distance between the impeller and the enclosure is thus limited to 3 10−3 m. The total 
extractor volume equals 192 10−6 m3 (Figure 1). The extractor volume where mass 
transfer occurs equals 139 10−6 m3 (Figure 1). A photograph of the side view of the 
three-stage extractor is given in Figure 9.  

 

Figure 9. Side view of the realized prototype. Both the rotating shaft of the impellers and 
the rotating shaft of the enclosure are connected through a belt to the pulley that is 
attached to the motors. 

The impeller and enclosure are propelled by a timing belt which is connected to a 3kW 
motor (SCFM71M, SEW). The maximum rotation speed of both the impeller and the 
enclosure is limited to 1500 RPM. The volumetric flow rates of n-heptane and water 
are controlled by two Coriolis mass flow controllers (M55, Bronkhorst). The 
maximum volumetric flow rate of the combined phases is 60 10−6 m3 s−1. All 
equipment is connected through ⅜” Swagelok tubing. Pressure and temperature are 
measured inline at the reactor inlets (points A, I, Figure 2) and outlets (points J, K, 
Figure 2). All generated data points are collected in LabView.  

7.2.1. Separation at the extractor outlets 
n-Heptane and water were contacted in counter-current mode at an aqueous to 
organic flow ratio of 1:1 with a total volumetric flow rate of 0.86 m³ mixture per day 
(10 10−6 m3 s−1). For each measurement of the separation efficiency the volumetric 
flow rates of water and n-heptane were set each to 5.0 10−6 m3 s−1 (0.43 m3 day−1). 
Next the rotation speeds of the impeller and the enclosure were set.  
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After reaching the desired rotation speed, thirty seconds were awaited to ensure steady 
state hydrodynamic behavior. Once this steady state was achieved, a constant 
separation efficiency was measured over time at the aqueous outlet (point K, Figure 

2) and the organic outlet (point J, Figure 2). The total outflow was collected for 60 
seconds at both outlets in two 500 10−6 m3 calibrated graduated cylinders. Each 
measurement was performed at least twice. The separation efficiency is defined as the 
ratio of the volume of the desired liquid over the total collected volume (eqs. (1) and 
(2)). The separation efficiency was measured as a function of the rotation speeds of 
the impeller and the enclosure. 

AQ

AQ ORG

V
Aq : 100%

V V
⋅

+
     (1) 

ORG

AQ ORG

V
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V V
⋅

+
     (2) 

 

Figure 10. Schematic side view of the extractor. The total extractor volume available for 
fluid is shown in red. The volume where the liquids are contacted in case of complete 
separation at both outlets is shown in green in the close-up. 
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7.2.2. Separation between the stages 
Back mixing of water and n-heptane between consecutive stages was qualitatively 
measured by performing mass transfer experiments in which benzoic acid was 
extracted from n-heptane to water.  

The amount of benzoic acid that is transferred from n-heptane to water is determined 
by the number of contacting stages and the liquid-liquid mass transfer rate, kLaL. For a 
given rotor-diameter and rotor-rotor distance, this is thus determined by the difference 
in rotation speeds of the impeller and the enclosure (Visscher et al., 2012d). The outlet 
concentrations of one contacting stage reach equilibrium at high liquid-liquid mass 
transfer rates.  

At the start of an experiment the volumetric flow rate of n-heptane with benzoic acid 
and the volumetric flow rate of water were set to 5.0 10−6 m3 s−1. Samples of 5 10−6 m3 
were collected at both outlets with 50 s interval. All mass transfer measurements were 
performed at a separation efficiency of 100% at both outlets. The benzoic acid 
concentrations in both phases were measured for 500 seconds at various combinations 
of the rotation speeds of the impeller and the enclosure (Visscher et al., 2012d).  

7.3. Results and discussion 
7.3.1. Extractor outlet flow 

The total liquid volume that is collected over 60 seconds at each outlet (Points J and 
K, Figure 2) is shown in Figure 11 as a function of the rotation speed of the impeller 
and the rotation speed of the enclosure. For all measurements the volumetric flow 
rates of both n-heptane and water equal 5.0 10−6 m3 s−1.  

Two observations are made. First, when the impellers are rotating faster that the 
enclosure the total liquid outflow at the organic outlet (point J, Figure 2) is increased 
and the total liquid outflow at the aqueous outlet (point K, Figure 2) is decreased. 
Second, when the enclosure is rotating faster than the impellers, the opposite trend is 
observed: the flow rate at the aqueous outlet (point K, Figure 2) is increased and the 
flow rate at the organic outlet (point J, Figure 2) is decreased.  

When the impeller is rotating faster than the enclosure (∆N=+450 RPM), the 
pumping action of the impellers-in-series causes all fluid to flow from the impeller 
inlet to the impeller outlets (Points P1, P2 P3, Figure 2).  

When the pumping action of the impellers-in-series is larger than the combined flow 
of water and n-heptane fed to the extractor, liquid will be drawn in at the aqueous 
outlet (point K, Figure 2). This behavior has been observed earlier in case of an 
impeller-stator configuration (Hafez, 1991). When the enclosure is rotating faster than 
the impeller (∆N=-600 RPM), the centrifugal force causes all liquid to flow out of the 
extractor at the aqueous outlet (point K, Figure 2).  
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When the through flow due to the centrifugal force is larger than the combined flow 
of water and n-heptane fed to the extractor, liquids will be sucked in at the organic 
outlet (point J, Figure 2). For complete separation of n-heptane and water a 
combination of rotation speeds is needed in which the centrifugal force due to the 
rotation of the enclosure balances the pumping action of the impellers-in-series. 

 

Figure 11 . The total outflow of the three-stage extractor is shown for both outlets, as a 
function of the rotation speeds of the impeller and the enclosure. Each measurement of 
the total outflow is measured for 60 seconds with equal flow rates of the aqueous and the 
organic phase of 5.0 10−6 m3 s−1. The total outflow is scaled from 0 (blue) to 600 ml (red). 

 

Figure 12. The separation efficiency of the three-stage extractor is shown as a function of 
the rotation speeds of the impeller and the enclosure. The highest separation efficiency is 
achieved when the rotation speed of the enclosure is close to that of the impeller. 
Separations are measured at equal flow rates of the aqueous and the organic phase of 5.0 
10−6 m3 s−1. The separation efficiency is scaled from 0% (blue) to 100% (red). 
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7.3.2. Separation efficiency 
The separation efficiency at both outlets is shown in Figure 12 as a function of the 
rotation speeds of the impeller and the enclosure. The separation efficiency at both 
outlets (Points J and K, Figure 2) exceeds 99% for various combinations of rotation 
speeds. For example, a separation efficiency >99% is obtained at NIMP = 450 RPM 
and NOUT = 300 RPM (∆N = +150), and at NIMP = 900 RPM and NOUT= 1400 RPM 
(∆N = -500) (not shown).  
 
The results show that complete separation of both liquid phases can be achieved at 
different mixing intensities. Mixing and separation are thus tuned independently of 
each other. This is a major benefit of the spinning disc based extractor over other 
centrifugal extractors like the Podbielniak, Rousselet-Robatel or Annular Centrifugal 
Extractors (CINC). In such centrifugal extractors, increasing the mixing intensity 
reduces the dispersed phase droplet diameter. As a result it becomes more difficult to 
separate the dispersed phase and the continuous phase.  
 

The separation efficiency at both outlets (Points J and K, Figure 2) is below 20% 
when the rotation speed of the impeller is close to the rotation speed of the enclosure 
(∆N < ±125 RPM). The centrifugal force that acts on the liquid inside the impeller is 
equal or close to the centrifugal force that acts on the liquid between the impeller 
(light grey, Figure 2) and the enclosure (dark grey, Figure 2). Accordingly, there is no 
preferential flow of n-heptane through the impellers to point P, Figure 2 The liquid 
present inside the impeller volume acts as a stagnant rotating liquid. In this case, n-
heptane shortcuts the extractor from the organic inlet (Point B, Figure 2) to the 
aqueous outlet (Point K, Figure 2). Simultaneously, water shortcuts the extractor 
from the aqueous inlet (Point I, Figure 2) to the organic outlet (Points J, Figure 2). 
The separation efficiency of the extractor decreases below 20% at both outlets: an 
almost complete separation occurs without counter-current contacting of water and n-
heptane.  
 

Thus three regions are observed in Figure 12 where the separation efficiencies at both 
outlets (points J and K, Figure 2) are low. Region 1 occurs when the impeller is 
rotating faster than the enclosure (∆N ≥ +450 RPM). Region 2 occurs when the 
impeller is rotating slower than the enclosure (∆N ≤ -600 RPM). Region 3 occurs 
when the rotation speed of the impeller and the enclosure are close (∆N < ±125 
RPM).  
 
A separation efficiency larger than 80% is achieved in the intermediate regions as can 
be seen in Figure 12. When the impellers are rotating faster than the enclosure (∆N ≥ 
200 RPM), the pumping action of the impeller-in-series is forcing the n-heptane to 
flow through the subsequent impellers.  
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When the impellers are rotating 200 RPM slower than the enclosure, the impeller acts 
as a siphon that connects the liquid reservoir at the inlet side of the impeller (Point L, 
Figure 2) to the liquid reservoir at the outlet side of the impeller (Point P1, Figure 2). 
The siphon allows the n-heptane to flow to the organic outlet (point J, Figure 2). The 
centrifugal force that acts on the liquids between the impeller and the enclosure due to 
the rotation of the enclosure and causes the separation of water and n-heptane 
between the impeller outlet (Point P3, Figure 2) and the organic outlet of the 
extractor (Point J, Figure 2). 
 

7.3.3. Inter stage separation  
The steady state concentrations of benzoic acid at the extractor outlets are calculated 
as a function of the liquid-liquid mass transfer rate. For this purpose the extractor is 
described as three contacting stages in series. On each contacting stage ideally mixed 
behavior of each phase is assumed (Figure 13). From these assumptions six ordinary 
differential equations (ODE’s) arise (Table 3) which are solved simultaneously. In the 
ODE’s (Table 3), the driving force for mass transfer between water and n-heptane is 
the concentration difference of the benzoic acid monomer in the organic phase and 
the non-dissociated benzoic acid in the aqueous phase (Visscher et al., 2011, Visscher 
et al., 2012d). Solving the six ODE’s yields the steady state concentrations at the 
extractor outlet as a function of the flow rates and initial conditions.  
 
The steady state outlet concentrations in both phases are calculated for an aqueous 
volumetric flow rate (FVAQ) of 5.0 10−6 m3 s−1, organic volumetric flow rate (FVORG) of 
10.0 10−6 m3 s−1. The initial concentration of the aqueous phase (CAQ0 ) is 0 mol m−3, 
and the initial concentration of the organic phase (CORG0 ) is 47.8 mol m−3. The 
volume fraction of n-heptane in the extractor, εORG, is calculated from the ratio of the 
volumetric n-heptane flow rate over the total volumetric flow rate (Visscher et al., 
2012b). The liquid-liquid mass transfer rate is not limiting, as a result the benzoic acid 
concentrations in water and n-heptane are in equilibrium on each contacting stage. 
 
The operating line of the extractor originates from the mole balance over the entire 
extractor, and is given by equation (3). The operating line gives the relationship 
between the initial concentrations, C0 (Points A, I, Figure 2), and the steady state 
concentrations at the extractor outlets, CSS (Points J, K, Figure 2). The operating line 

has the slope , and passes through two coordinates P( ) and Q(

). 
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The operating line is shown together with the equilibrium curve in Figure 14. The 
calculated exit concentrations of stage 1 (●), stage 2 (■), and stage 3 (♦) are marked on 
the equilibrium curve. The number of contacting stages can thus be estimated from 
the equilibrium curve and the operating line. This is marked by the dotted lines.  

This procedure is similar to the McCabe-Thiele method which is used to analyze 
binary distillation (21). Dimerization of benzoic acid causes a strong non-linear 
curvature of the equilibrium curve (Long et al., 2008, Visscher et al., 2011). The 
operating line and the equilibrium curve therefor may have an intersection, and thus 
may yield a solutropic composition, similar to an azeotropic composition in distillation 
(Smith, 1950).  

The steady state concentrations of benzoic acid at the extractor outlets (Points J and 
K, Figure 2) were determined experimentally for an aqueous volumetric flow rate of 
5.0 10−6 m3 s−1, organic volumetric flow rate of 5.0 10−6 m3 s−1.The initial benzoic acid 
concentration in the aqueous phase was 0 mol m−3, and the initial benzoic acid 
concentration in the organic phase of 28.7 mol m−3. The rotation speed of the 
impeller was set to 900 RPM, the rotation speed of the enclosure to 1500 (∆N=+500 
RPM).  

The total benzoic acid concentration in the organic phase decreases in 450 seconds 
from the initial concentration (28.7 mol m−3) to the steady state concentration (13.2 
mol m−3). The total benzoic acid concentration in the aqueous phase increases from 
the initial concentration (0 mol m−3) to the steady state concentration (15.4 mol m−3).  

These benzoic acid concentrations are close to the concentrations for calculations in 
which the liquid-liquid mass transfer is not limiting, and in which complete phase 
separation is assumed. For those conditions the steady state benzoic acid outlet 
concentrations in n-heptane and water equal 13.1 mol m−3 and 15.5 mol m−3 
respectively.  

These calculated steady state concentrations are close to the measured values, which 
proves the complete separation between the consecutive stages. Also this shows that 
equilibrium is reached at each stage at a rotation speed difference of +500 RPM 
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Figure 13. Model used to predict the steady state concentration of benzoic acid in both 
phases. Six linear ordinary differential equations are solved simultaneously as a function 
of the liquid-liquid mass transfer rate, kLaL. The indices of the concentrations originate 
from the ODE-number. 

 

Figure 14. The equilibrium curve of the water/n-heptane/benzoic acid system is shown 
in blue (Visscher et al., 2011). The modeled operating line is shown in red, with the 
coordinates P and Q from equation (3). Model conditions: FV

AQ
 = 5 10−6 m3 s−1, FV

ORG = 10 
10−6 m3 s−1 CAQ

0 = 0 mol m−3, CORG
0 = 47.8 mol m−3. The value of kLaL is set to infinite, thus 

equilibrium is obtained on each contacting stage. The calculated exit concentrations of 
stage 1 (●), stage 2 (■), and stage 3 (♦) are shown on the equilibrium curve. 
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Table 3. Ordinary differential equations used to predict the steady state benzoic 
concentrations at the outlet of the extractor (Figure 13). 

ODE Stage  Liquid 

phase 

Ordinary differential equation 

1 1 ORG 
( )

( )

TOT,1
ORG 0 TOT,1

V,ORG ORG ORG

MON,1 MON HA,1
L L ORG R ORG P AQ

dC
F C C ...

dt

               k a ε V C K C

= −

− −

 

2 1 AQ 
( )

( )

TOT,1
AQ TOT,2 TOT,1

V,AQ AQ AQ

MON,1 MON HA,1
L L ORG R ORG P AQ

dC
 = F C -C ...

dt

                - k a ε V C -K C

 

3 2 ORG 
( )

( )

TOT,2
ORG TOT,1 TOT,2

V,ORG ORG ORG

MON,2 MON HA,2
L L ORG R ORG P AQ

dC
F C C ...

dt

               k a ε V C K C

= −

− −

 

4 2 AQ 
( )

( )

TOT,2
AQ TOT,3 TOT,2

V,AQ AQ AQ

MON,2 MON HA,2
L L ORG R ORG P AQ

dC
 = F C -C ...

dt

                 - k a ε V C -K C

 

5 3 ORG 
( )

( )

TOT,3
ORG TOT,2 TOT,3

V,ORG ORG ORG

MON,3 MON HA,3
L L ORG R ORG P AQ

dC
 = F C -C ...

dt

                - k a ε V C -K C
 

6 3 AQ 
( )

( )

TOT,3
AQ 0 TOT,3

V,AQ AQ AQ

MON,3 MON HA,3
L L ORG R ORG P AQ

dC
 = F C -C ...

dt

                 - k a ε V C -K C

 

 

7.4. Benchmarking 
One way to compare extractor performance is by using the Stichlmair plot, which 
shows the number of transfer stages per meter versus the capacity (in cubic meter 
liquid per square meter area per hour). In the original plot the cross sectional area of 
extraction columns is taken as the area perpendicular to the flow direction (Stichlmair, 
1980). Stacking multiple contacting stages on one rotating shaft yields an equal 
geometry for centrifugal extractors as for conventional extractor columns (Visscher et 
al., 2013). Each additional contacting stage adds 14 10-3 m to the length of the 
extractor, thus a spinning disc based extractor of 1 meter high may contain 71 
contacting stages. This is 3 times more than the in case of Podbielniak extractor (Type 
A1, (Barson et al., 1953)), 30 times more than the annular centrifugal extractor from 
CINC (CS500, (CINC, 2013)), and 30 times more than the Rousselet-Robatel 
extractors (LX527, (Rousselet Robatel, 2013)), (Visscher et al., 2013). 
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7.5. Conclusion 
A counter-current operated, three-stage spinning disc based centrifugal extractor is 
presented.  Each contacting stage of the extractor consists of a rotor-impeller-rotor 
sequence. Each additional contacting stage extends the length of the extractor with 1.4 
10−2 m. The volume of a contacting stage is 102 10−6 m3. The extractor processes up 
to 0.86 m3 day−1. Complete separation can be achieved for both outlets for rational 
speeds below 1500 RPM. The mixing intensity in the extractor is tuned independently 
by adjusting the rotation speed difference between the impeller and the enclosure.  
 

Nomenclature 

Roman symbols 
C  Concentration, mol m−3 

FV  Volumetric flow rate, m3 s−1 

kLaL  liquid-liquid mass transfer rate, s−1 
N  Rotation speed, RPM 
S   Solubility, mol% 
t  Time, s 
V  Volume, m3 

 
Greek letters 
 εORG  Organic phase volume fraction, m3ORG m−3R 

ρ   Density, kg m−³ 
η   Viscosity, kg m−1 s 
σ    Surface tension, mN m−1 

 
Sub and superscripts 
 AQ  Aqueous phase 
 DIM  Dimer 
 IMP  Impeller 
 L  Liquid 

MON  Monomer 
 ORG  Organic phase 
 OUT  Enclosure 
 R  Reactor 
 SS  Steady state 
 TOT  Total 
 0  Initial value 
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8. Conclusions and outlook 

8.1. Conclusions 
This thesis describes the results of a PhD-project leading to novel and compact 
rotating equipment in which two immiscible phases are intensely contacted, either co-
current or counter-currently. This equipment is based on spinning disc technology and 
utilizes high-gravity, high-shear conditions, which yield high mass transfer rates for 
liquid-liquid mixtures. In this thesis, first the single phase fluid flow in a rotor-stator 
spinning disc reactor (SDR) is described. Next, a mixture of n-heptane and water is 
used to describe the volume fraction and the liquid-liquid mass transfer rates in an 
SDR. Following, the rotor is replaced with an impeller. The pumping action of the 
impeller is essential for the counter-current contacting of two immiscible liquids, as is 
shown in the last two chapters. 

A reactor model is presented for the single phase fluid flow in a rotor-stator spinning 
disc reactor which is based on residence time distribution measurements. The 
residence time distribution was determined from pulse-wise tracer injection 
experiments, as a function of the rotational disc speed, the volumetric flow rate of 
water, and the axial clearance between the rotor and the stator. The residence time 
distribution is described by a plug flow model in combination with 2 to 3 ideally 
stirred tanks-in-series. The resulting reactor model is explained with the effect of 
turbulence, the formation of von Kármán and Bödewadt boundary layers, and the 
effect of the volumetric flow rate. 

The single phase study is extended to a multiphase study in which n-heptane and water 
are contacted in an SDR. Their volume fractions were measured using γ-ray 
tomography and photographic image analysis and are determined as a function of 
rotational disc speed, flow ratio, position in the reactor, liquid mixture density 
difference, and rotor material. Below 75 RPM the volume fractions measured by 
tomography and photographic image analysis are within 10% deviation. For low 
rotational disc speeds, the n-heptane volume fraction decreases slightly with increasing 
rotational disc speed. At higher rotational disc speeds the droplets become smaller, 
and the n-heptane volume fraction becomes equal to the n-heptane to total flow ratio. 
The volume fractions do not depend on the density difference between the two 
liquids. 

The liquid-liquid flow behavior and the liquid-liquid mass transfer rates are obtained 
from experiments in an SDR. The liquid-liquid mass transfer rate is determined from 
extraction experiments of benzoic acid from n-heptane to water. For the calculation of 
the overall mass transfer rate the dimerization and acid dissociation equilibria are taken 
into account.  
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Three flow patterns are characterized. Up to 100 RPM, continuous radially inwards 
spiraling n-heptane patterns are observed. Between 100 RPM and 300 RPM this 
continuous spiral changes to spiraling n-heptane droplets. Above 300 RPM fully 
dispersed phase flow is observed. The lowest overall mass transfer rate is measured to 
be 0.17 m³ORG m-3R s-1 at 100 RPM, and the highest value obtained is equal to 51.5 
m³ORG m-3R s-1 at 1600 RPM. These mass transfer rates are at least 25 times higher 
compared to those in packed columns, and at most 15 times higher compared to mass 
transfer rates in state of the art microchannels. 

The liquid-liquid flow in an impeller-stator SDR is qualitatively described. The 
impeller has a comparable function as the impeller in a centrifugal pump, and 
transports liquid from the bottom center to the rim of the impeller. The impeller-
stator configuration is able to selectively pump the lighter liquid phase through the 
reactor, whilst it is intensively mixed with a heavier liquid phase that remains in a stage 
of the reactor. The liquid-liquid flow is studied by contacting water and n-heptane as a 
function of the rotational speed and aqueous volume fractions. The liquid-liquid flow 
is characterized by six different flow regimes. These were observed in the space 
between the impeller and the bottom stator. Dispersion is absent in the full water 
regime (rotational speed below 50 RPM) and the stagnant ring regime. Water is the 
dispersed phase in the water droplets regime (rotational speed above 200 RPM) and 
wavy ring regime (rotational speed between 50 and 200 RPM). n-Heptane acts as the 
dispersed phase in the n-heptane droplets regime and the “spiral and ring”-regime. The 
transitions between the flow regimes are dominated by three effects: the formation of 
boundary layers on the impeller and the stator, the shear stress intensity and the 
aqueous volume fraction. 

Based on the pumping action of the impeller and on the liquid-liquid mass transfer 
rates, spinning disc equipment is developed for the counter-current contacting of two 
immiscible liquids. This equipment is based on rotor-impeller-rotor spinning disc 
technology and allows for the counter-current contacting and consecutive complete 
separation of 5 m³ liquid per day. The mixing intensity and the separation efficiency in 
the extractor can be chosen independently by adjusting the rotation speed of the 
impeller and of the rotors. The height of a transfer unit, and thus the extractor 
volume, is ten times lower compared to common centrifugal extractors.  

Finally, the single stage extractor is extended with two additional stages in which 
benzoic acid is extracted from n-heptane to water. Each contacting stage of the 
extractor consists of a rotor-impeller-rotor sequence. The volume of one contacting 
stage is 102 10−6 m3. Each additional contacting stage extends the extractor length 
with 1.4 10−2 m. The first prototype of the extractor processes a total volumetric flow 
of 0.86 m3 day−1. The separation efficiencies at the extractor outlets and the degree of 
back mixing between consecutive contacting stages are reported.  
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The separation efficiency can be tuned to 100% for rotational speeds below 1500 
RPM. Mass transfer experiments have shown that the solute concentrations between 
n-heptane and water reach equilibrium at each contacting stage. 

8.2. Future perspective 
All multiphase experiments in this thesis have been performed with a system 
comprising water and n-heptane. This is a non-conventional extraction system, that 
was selected because of its moderate compatibility with the construction material of 
the reactor, poly(methyl methacrylate). The European Federation of Chemical 
Engineering re-advised in 1985 to use “standard” liquid-liquid extraction test systems: 
water/acetone/toluene (high interfacial tension), water/acetone/butyl acetate 
(medium interfacial tension), or water/succinic acid/n-butanol (low interfacial 
tension). Measurements of the separation efficiency of these systems in the counter-
current operated spinning disc equipment will demonstrate the feasibility of this 
equipment, and thus motivate end-product users to apply the spinning disc extractor 
in their own liquid-liquid extraction process.  

The liquid-liquid mass transfer rate in the single-stage spinning disc extractor needs to 
be measured as a function of the difference in rotational speed between the impeller 
and the enclosure. The results in this thesis have shown that the residence time in 
combination with the liquid-liquid mass transfer rate allows for sufficient mass transfer 
to reach the equilibrium concentrations of the solute. It would be valuable to 
determine the liquid-liquid mass transfer rate at a constant difference in the rotational 
speed of the enclosure and the impeller, which would possibly allow one to measure at 
a constant droplet size, and thus at a constant interfacial area.  

To develop the spinning disc based extractor further, there is an urgent need for the 
development of concise design rules. Preferably, the liquid-liquid mass transfer rate 
would be described by a concise design rule as a function of dimensionless parameters, 
which would allow one to predict the liquid-liquid mass transfer rate as a function of 
the impeller diameter and the rotational speeds of the impeller and the enclosure. This 
would allow one to identify the best route for up scaling of the volumetric through 
flow.   

Another design rule for the counter-current operated spinning disc equipment should 
predict the steady-state radial position of the liquid levels of the heavy phase liquid and 
the light phase liquid. Variables which should be taken into account for such a design 
rule are the pressure drop over the extractor, the volumetric flow rate of both liquids, 
the difference in rotational speed between the impeller and the enclosure, and the 
liquid densities. This design rule could be obtained by solving the hydrostatic pressure 
balance, with a term that describes the centrifugal acceleration instead of gravitational 
acceleration.  
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Preliminary experiments, in which the backpressures at the extractor outlets were 
varied at constant flow rates and constant rotational disc speed, have confirmed the 
overall trends predicted by the hydrostatic pressure balance. There exists an operating 
window of the rotational disc speeds of the impeller and the enclosure, in which full 
separation can be achieved at both outlets for fixed liquid densities, outlet pressures, 
and flow rates (Saffarionpour et al., 2013).  

In addition to the hydrostatic pressure balance, the emulsification of the dispersed 
phase should be taken into account: the droplet size in the emulsion is mainly 
determined by the interfacial tension and the liquid viscosities, in combination with 
the rotation difference. A higher rotation difference will give smaller droplets that give 
a higher mass transfer but which are more difficult to separate. This model should be 
validated by measuring the separation efficiency at both outlets, and the pressure drop 
over the extractor. 

For the operational conditions at which complete phase separation is achieved, a 
simultaneous residence time distribution measurement in both liquid phases could be 
performed. This would give valuable information about possible dead volumes in the 
extractor, but will also be essential for the modeling of the liquid-liquid mass transfer 
rate. In addition, the residence time distribution would show if it is possible to have 
counter-current plug flow behavior of both phases, which would result in multiple 
contacting steps in a single rotor-impeller-rotor sequence. Such experiments would 
require a stable and non-intrusive measurement technique at both outlets of the 
extractor, like inline UV-VIS equipment, and two inert tracers that selectively dissolve 
in one of the phases. 

An unknown characteristic of the spinning disc equipment is the characteristic time 
scale at which micromixing occurs in the equipment. Such a timescale can 
experimentally be derived from the product distribution of two parallel competitive 
reactions, like the Villermaux-Dushman system. This timescale is related to the local 
energy dissipation, and allows for comparison of equipment. 
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