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Summary

Reactive Distillation for Cosmetic Ingredients

An alternative for the production of isopropyl myristate?

This thesis starts with a brief overview of the current production processes for

fatty acid esters. Because these processes have several drawbacks, a new tech-

nology is proposed: Entrainer-based Reactive Distillation. In Entrainer-based

Reactive Distillation, in situ separation is used to improve the yield of reaction,

whereas an entrainer feed is added to overcome the alcohol-water azeotrope,

by selectively increasing the relative volatility of water. The objective of this

research is the development of a multi-product Entrainer-based Reactive Dis-

tillation process for the synthesis of fatty acid esters using a heterogeneous

catalyst, and evaluate its attractiveness compared to the current technologies.

In Chapter 2 it is demonstrated that, due to the similarities between

Entrainer-based Reactive Distillation and azeotropic distillation, the same se-

lection rules can be applied to select a suitable entrainer. From a list of suitable

entrainers for the azeotropic distillation of isopropanol and water, cyclohex-

ane and isopropyl acetate are chosen. Residue curve maps, simulations of the

distillation section of the column, and simulations of the total Entrainer-based

Reactive Distillation concept show that both can be used as an entrainer in

Entrainer-based Reactive Distillation. Whether Entrainer-based Reactive Dis-

tillation will be feasible, strongly depends on the kinetics of the reaction.
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Summary

For this reason Chapter 3 discusses the reaction kinetics of the esterification

of myristic acid with isopropanol and with n-propanol, using sulphated zirconia

(SZ) and p-toluene sulphonic acid (pTSA) as catalysts, for a temperature range

of 343-403K. SZ appeared to be an unsuitable catalyst for the esterification

of myristic acid with isopropanol since it did not increase the reaction rate of

the uncatalysed reaction. For the reactions with pTSA the reaction rates are

determined. The reactions follow first order kinetics in all components. The

kinetic model corresponds with the results for the esterification of myristic acid

with isopropanol and the results for the esterification of palmitic acid from

literature. As expected, the reaction rate increases with increasing amount of

catalyst and with increasing temperature. The reaction rate and equilibrium

conversion increases with an increasing alcohol to myristic acid feed ratio. The

reaction with n-propanol is considerably faster (at 373K about 3.8 times) than

the reaction with isopropanol.

On the basis of the entrainer selection and kinetics studies Chapter 4 will

discuss the gains that can be obtained using Entrainer-based Reactive Distil-

lation with regard to conventional Reactive Distillation. Five process configu-

rations for the esterification of myristic acid with isopropanol and n-propanol

using a homogeneous catalyst, are compared, by simulation in Aspen Plus.

In the esterification with isopropanol at 1 bar, the addition of the entrainer

has no positive influence on the conversion, because the amount required for

water removal causes a temperature decrease in the column. This temperature

decrease has a negative influence on the conversion, because the high activa-

tion energy of the reaction cannot be overcome. However, in the esterification

with isopropanol at 5 and 10 bar and in the esterification with n-propanol

(either 1, 5 or 10 bar), the addition of the entrainer has a positive influence

on the conversion. More entrainer leads to a higher conversion. Surprising

is the observation that the conventional Reactive Distillation configuration

(RD1) reaches the desired purity and conversion. Because of its polarity, wa-

ter is pressed out of the liquid phase, in which the reaction takes place, so the

reaction can reach nearly complete conversion. Because the decrease of the

reaction volume due to the addition of the entrainer is rather small and the

2
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energy consumption is comparable, conventional Reactive Distillation (RD1)

is the preferable configuration for the esterification of myristic acid with either

isopropanol or n-propanol.

Subsequently, the Aspen Plus process for the Reactive Distillation is val-

idated through pilot plant experiments in Chapter 5. A detailed model of

the pilot plant is created for different operating conditions. Experiments with

a pilot column are performed to verify the model. The conducted experi-

ments correspond well with the predicted values; the model can be used in

the construction of a conceptual design. However, not all the intended valida-

tion experiments could be performed, because of the practical difficulties that

arise when negligible liquid level in the column has to be ensured. Also the

break down of the pumps due to clogging appeared a limiting factor in the

experiments.

Finally, the process model from Chapter 5 is used to construct a conceptual

design for the esterification of myristic acid with isopropanol through Reac-

tive Distillation (packed, tray and bubble column). A parameter optimisation

study is performed to investigate the influence of the different process param-

eters. Finally all results are integrated in conceptual designs for the industrial

scale processes, which are evaluated against the batch process based on re-

quired reaction volumes. The required reaction volume can be decreased with

27 or 79%, allowing a maximum temperature of respectively 170 and 220◦C,

using a packed Reactive Distillation column. Using a tray Reactive Distil-

lation column and a maximum temperature of 220◦C, the required reaction

volume can be decreased with 93%. Due to the less favourable mass transfer

characteristics, in the Bubble Column the required reaction volume can only

be decreased with 78%. It is further noted that, at a temperature of 220◦C,

the tray Reactive Distillation is the preferable process for the esterification of

myristic acid isopropanol, based on the required reaction volumes. The influ-

ence of the maximum column temperature and the influence of a larger liquid

hold-up per stage as a result of a different column configuration are of equal

importance for the required reaction volume.

This thesis shows that Reactive Distillation can be used for the produc-
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tion of isopropyl myristate, which results in an enormous decrease in reaction

volume compared to the batch process. Therefore, it can be concluded that

Reactive Distillation has the potential to become an economically attractive

alternative, not only for fatty acid esters based on methanol and primary alco-

hol which is already known, but also for the production of isopropyl myristate.
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Samenvatting

Reactieve Destillatie voor Cosmetische Ingredi-

ënten

Een alternatief voor de productie van isopropyl myristaat?

Dit proefschrift start met een kort overzicht van de huidige productie processen

voor vetzure esters. Omdat deze processen verscheidene nadelen hebben, wordt

er een nieuwe technologie voorgesteld: Entrainer-gebaseerde Reactieve Destil-

latie. In Entrainer-gebaseerde Reactieve Destillatie, wordt in situ scheiding ge-

bruikt om de opbrengst van de reactie te verbeteren, terwijl de entrainer voed-

ing wordt toegevoegd om de alcohol-water azeotroop te overwinnen, door de

selectieve verhoging van de relatieve vluchtigheid van water. Het doel van dit

onderzoek is de ontwikkeling van een multi-product Entrainer-gebaseerde Re-

actieve Destillatie proces voor de synthese van vetzure esters, gebruikmakend

van een heterogene katalysator. Daarnaast zal het nieuwe proces vergeleken

worden met de huidige technologieën.

In Hoofdstuk 2 wordt aangetoond dat, vanwege overeenkomstigheden tussen

Entrainer-gebaseerde Reactieve Destillatie en azeotropische destillatie, dezelfde

selectieregels kunnen worden toegepast voor het selecteren van een entrainer.

Uit een lijst met geschikte entrainers voor de azeotropische destillatie van iso-

propanol en water zijn cyclohexaan en isopropyl acetaat gekozen. Residue

curve maps, simulaties van de destillatiesectie van de kolom en simulaties van

5
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het totale Entrainer-gebaseerde Reactieve Destillatie concept laten zijn dat

beide als entrainer gebruikt kunnen worden in Entrainer-gebaseerde Reactieve

Destillatie. Of Entrainer-gebaseerde Reactieve Destillatie praktisch uitvoer-

baar zal zijn, hangt sterk af van de kinetiek van de reactie.

Om deze reden wordt de reactiekinetiek van de esterificatie van myristine-

zuur met isopropanol en met n-propanol, met gesulfoneerd zirconia (SZ) and

p-tolueen sulfonzuur (pTSA) als katalysatoren, voor een temperatuur range

van 343-403K in Hoofdstuk 3 behandelt. SZ bleek een ongeschikte katalysator

te zijn voor de esterificatie van myristinezuur met isopropanol, aangezien het

de reactiesnelheid van de ongekatalyseerde reactie niet verhoogde. Voor de

reacties met pTSA zijn de reactiesnelheden bepaald. De reacties volgen eerste

orde kinetiek in alle componenten. Het kinetisch model komt overeen met de

resultaten voor de esterificatie van myristinezuur met isopropanol en de resul-

taten uit de literatuur voor de esterificatie van palmitinezuur. Zoals verwacht

neemt de reactiesnelheid toe met toenemende hoeveelheid katalysator en met

toenemende temperatuur. De reactie snelheid en evenwichtsconversie nemen

toe met een toenemende alcohol tot myristinezuur voedingsratio. De reactie

met n-propanol is aanzienlijk sneller (bij 373K omstreeks 3.8 maal) dan de

reactie met isopropanol.

Op basis van de entrainer selectie en de kinetiek studies zal in Hoofd-

stuk 4 de winst die verkregen kan worden bij het gebruik van Entrainer-

gebaseerde Reactieve Destillatie, ten aanzien van conventionele Reactieve Des-

tillatie besproken worden. Vijf procesconfiguraties voor de esterificatie van

myristinezuur met isopropanol en n-propanol, waarbij een homogene katalysa-

tor wordt gebruikt, worden met elkaar vergeleken door simulaties in Aspen

Plus. In de esterificatie met isopropanol bij 1 bar, heeft het toevoegen van de

entrainer geen positieve invloed op de conversie omdat de vereiste hoeveelheid

voor de waterverwijdering zorgt voor een temperatuursdaling in de kolom.

Deze temperatuursdaling heeft een negatieve invloed op de conversie, omdat

de hoge activeringsenergie van de reactie niet overwonnen kan worden. Echter,

in de esterificatie met isopropanol bij 5 en 10 bar en in de esterificatie met n-

propanol (1, 5 of 10 bar) heeft het toevoegen van de entrainer een positieve

6
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invloed op de conversie. Meer entrainer leidt to een hogere conversie. Ver-

rassend is de observatie dat in de conventionele Reactieve Distillatie configu-

ratie (RD1) de gewenste zuiverheid en conversie wordt bereikt. Vanwege zijn

polariteit wordt water uit de vloeistoffase, waar de reactie plaatsvindt, geduwd,

zodat the reactie bijna volledige conversie kan bereiken. Omdat de afname van

het reactievolume, vanwege de toevoeging van de entrainer, nogal klein is en,

de energieconsumptie vergelijkbaar, heeft conventionele Reactieve Destillatie

(RD1) configuratie de voorkeur voor de esterificatie van myristinezuur met

zowel isopropanol als n-propanol.

Vervolgens wordt het Aspen Plus proces voor de Reactieve Destillatie

gevalideerd door middel van pilot plant experimenten in Hoofdstuk 5. Er

is een gedetailleerd model van de pilot plant gemaakt voor verschillende oper-

ationele condities. Experimenten met een pilot kolom zijn uitgevoerd om het

model te verifiëren. De uitgevoerde experimenten komen goed overeen met

de voorspelde waarden; het model kan worden gebruikt voor de constructie

van een conceptueel ontwerp. Echter, vanwege praktische moeilijkheden die

ontstaan wanneer een verwaarloosbaar vloeistof niveau in de kolom moet wor-

den gewaarborgd, konden niet alle voorgenomen validatie experimenten wor-

den uitgevoerd. Ook het begeven van de pompen wegens verstopping bleek

een limiterende factor in de experimenten.

Tot slot wordt het procesmodel uit Hoofdstuk 5 gebruikt voor het con-

strueren van een conceptueel ontwerp voor de esterificatie van myristinezuur

met isopropanol door middel van Reactieve Destillatie (gepakte, schotel en bel-

lenkolom). Er is een parameteroptimalisatiestudie gedaan om de invloed van

verschillende procesparameters te bestuderen. Uiteindelijk zijn alle resultaten

gentegreerd in conceptuele ontwerpen voor de processen op industriële schaal,

welke zijn vergeleken met het batchproces op basis van de vereiste reactievol-

umes. Wanneer een gepakte Reactieve Destillatiekolom wordt gebruikt kan

het vereiste reactievolume worden verlaagd met 27 of 29%, voor een toeges-

tane maximum temperatuur van respectievelijk 170 en 220◦C,. Bij gebruik van

een schotelkolom en een maximum toegestane temperatuur van 220◦C, kan het

vereiste reactievolume worden verlaagd met 93%. Vanwege de minder gunstige

7



Samenvatting

stoftransportkarakteristieken in de Bellenkolom, kan het vereiste reactievolume

hierin verlaagd worden met maar 78%. Verder moet worden opgemerkt dat

bij een temperatuur van 220◦C, op basis van de vereiste reactievolumes, de

voorkeur wordt gegeven vaan de Reactieve Destillatie schotelkolom voor de

esterificatie van myristinezuur met isopropanol. De invloed van de maximum

kolomtemperatuur en de invloed van een grotere vloeistof hold-up per stage

als resultaat van een andere kolomconfiguraties zijn even belangrijk voor het

vereiste reactievolume.

Dit proefschrift laat zien dat Reactieve Destillatie gebruikt kan worden

voor de productie van isopropyl myristaat, resulterend in een enorme afname

van het reactievolume vergeleken met het batch proces. Daarom kan worden

geconcludeerd dat Reactieve Destillatie de potentie heeft om een economisch

aantrekkelijk alternatief te worden, voor niet alleen vetzure esters gebaseerd

op methanol en primaire alcohol, wat al bekend is, maar ook voor de productie

van isopropyl myristaat.

8



Chapter 1

Introduction

In this chapter a brief overview of the current production processes for fatty

acid esters is given. Because those processes have several drawbacks, a new

technology is proposed: Entrainer-based Reactive Distillation. In Entrainer-

based Reactive Distillation, in situ separation is used to improve the yield of

reaction, whereas an entrainer feed is added to overcome the alcohol-water

azeotrope, by selectively increasing the relative volatility of water. The objective

of this research is the development of a multi-product Entrainer-based Reactive

Distillation process for the synthesis of fatty acid esters using a heterogeneous

catalyst, and evaluate its attractiveness compared to the current technologies.

1.1 Background

Fatty acid esters are (natural-based) chemicals used in a broad range of dif-

ferent fields of application, such as the cosmetic industry, the food industry,

solvents and plasticisers, the coating industry, lubricants, biodiesel et cetera

[1, 2]. The fatty acid esters include methyl esters, partial glycerides, wax esters

(esters of fatty acids with long-chain fatty alcohols), and ester oils (esters of

fatty acids with poly alcohols). The second largest sector in where fatty acid

esters are applied is, after solvents and plasticisers, the formulation and man-
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Chapter 1 Introduction

ufacture of perfumes, flavours, cosmetics, soap and soap products. The main

part of this thesis focuses on isopropyl myristate, which is used in cosmetics

as the oil component and is one of the most common used fatty acid esters.

[1–3]

1.2 Current production processes

1.2.1 Esterification

The synthesis of fatty acid esters is analogous to that of monocarboxylic esters.

The most common way to produce esters is by a condensation reaction of a

carboxylic acid and an alcohol, with the simultaneous elimination of water

[4, 5]:

R1−COOH+R2−OH −−⇀↽−− R1−COO−R2 +H2O (1.1)

Besides the desired esterification reaction also an etherification reaction takes

place:

R1−OH+HO−R2
−−⇀↽−− R1−O−R2 +H2O (1.2)

In the synthesis of fatty acid esters the carboxylic acid is a fatty acid. Fatty

acids are all aliphatic carboxylic acids with a carbon chain length of C6-C24.

They are often obtained from animal and vegetable fats through splitting of

the triglycerides (fats) into glycerol and fatty acids. [1]

The esterification is an acid catalysed reaction. Commonly used catalysts

are strong mineral acids such as sulfuric and hydrochloric acids. Lewis acids

such as boron trifluoride, tin and zinc salts, aluminum halides, and organo-

titanates have been used as well. Heterogeneous catalysts like cation-exchange

resins and zeolites are also applied. They can be preferable in continuous

operation, because of the ability to be used in a fixed-bed reactor. [5, 6]

The esterification reaction is an equilibrium reaction, therefore a yield of

100% cannot be reached. To improve the yield, a large excess of one of the

reactants, usually the alcohol, is applied. To force the equilibrium to the side

of the products it is also possible to remove one of the products, usually water,
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1.2 Current production processes

from the reaction mixture. The way the conversion is optimised, depends on

the volatility of the ester, which for this purpose is classified into three groups

[5, 6]:

1. In the case of esters of high volatility, such as methyl formate, methyl

acetate and ethyl formate, which have lower boiling points than those

of the corresponding alcohols, the esters can be easily removed from the

reaction mixture by distillation.

2. Esters of medium volatility, such as propyl, butyl, and amyl formates,

ethyl, propyl, butyl and amyl acetates and the methyl and ethyl esters

of propionic, butyric and valeric acids, are capable of removing the wa-

ter from the reaction mixture (self-entraining). In some cases, ternary

azeotropic mixtures of alcohol, ester and water are formed. In these cases

there are two possibilities: the ester is completely removed as a vapour

mixture with alcohol and part of the water, while the residual water

accumulates in the system, or all of the water is removed as a vapour

mixture with part of the ester and alcohol while the residual ester accu-

mulates as a high boiler in the system. The first possibility occurs in the

case of ethyl acetate, the second in case of butyl acetate.

3. In the case of esters of low volatility there are several possibilities. When

dealing with esters of butyl and amyl alcohols, water is removed as a bi-

nary azeotropic mixture with the alcohol. To produce esters of the lower

alcohols (methyl, ethyl, propyl) it may be necessary to add a hydrocar-

bon such as benzene or toluene to increase the amount of distilled water

(entrainer). With high boiling alcohols, such as benzyl, furfuryl and β-

phenylethyl, addition of an entrainer is required to eliminate the water

by distillation.

Because fatty acid esters are very low boiling, they can be grouped under the

third category. The industrial production of esters is carried out by batch and

continuous methods. Both methods are described below.

11
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1.2.2 Batch process

Batch production processes involve costly separations, large energy consump-

tion and production of polluting by-products. Because of equilibrium limita-

tions, high conversions can be only obtained by using a large excess of alcohol.

In the batch method the reactants are charged into a still pot of appropriate

capacity which is fitted with an efficient fractionating column, usually of the

bubble-cap or packed type. The proportions of the reactants vary with the

nature of the acid and alcohol. [6]

Storage
tank

Reflux
condenser

Ethyl alcohol

Acetic acidSulfuric
acid

H2SO4/H2O

Recovery
column Fractionating

column

Reflux
condenser

Ethyl
acetate

Esterification
reactor

Fig. 2.

Figure 1.1: Batch ethyl acetate process [5]

In Figure 1.1 the synthesis of ethyl acetate in a batch process is shown.

The reaction takes places in a heated still pot or tank which is filled with

acetic acid, 95% ethanol and sulfuric acid. The vapour, which is generated

12



1.2 Current production processes

due to heating, is fed into the fractionating column. The temperature at the

top of this column is approximately 70◦C, such that the top product is the

ternary azeotropic mixture of 83% ethyl acetate, 9% alcohol and 8% water.

The bottom product of the column is recycled to the reaction tank. The

esterification takes place until all the acetic acid has reacted. The alcohol,

sulfuric acid and water from the reaction tank will be separated in a recovery

column. The condensated top product of the fractionating column is the ethyl

acetate product. This ternary mixture is production-grade ethyl acetate, which

is satisfactory for most applications. For a pure product, further purification

is necessary. [5, 7]

Reflux
condenser

Total
condenser

Organic layer

Fractionating
column

H2SO4

Acetic acid

 Butyl alcohol

Water layer

Esterification
reactor

Separating
vessel

Figure 1.2: Batch n-butyl acetate process [5]

In Figure 1.2 the synthesis of n-butyl acetate in a batch process is shown.

The esterification reactor is filled with glacial acetic acid, an excess of butyl

alcohol and sulfuric acid. After several hours of heating, the slow rectifica-
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tion takes places to remove the (already) formed water. The distillate of the

fractionating column will form two liquid phases, an aqueous phase and an

organic phase, consisting of butyl acetate and butanol. The organic phase is

recycled continuously to the column to improve the water removal. Esterifi-

cation continuous until no more water can be removed. The acid remaining

in the reactor is neutralised with a sodium hydroxide solution. The organic

phase is washed with water and distilled to obtain butyl acetate of 75-85%

purity. [5, 7]

Little has been published on the production of alkyl esters of fatty acids.

They can be prepared by direct esterification, but for higher fatty acid esters

(oleates and stearates) alcoholysis of an appropriate neutral fat is a more

common way to produce them, in which the glycerol part of triglyceride is

replaced by three alcohol molecules. [6]

1.2.3 Reactive Distillation

For a more competitive process it is preferable to produce fatty esters in a

continuous way, at higher yields. Continuous esterifications have been carried

out on a relatively large scale since 1921, when the first patents covering these

processes appeared. [6]

In many chemical manufacturing processes, separation steps are necessary

to obtain the pure products. Usually reaction and separation stages are car-

ried out in individual equipment units, for this reason equipment and energy

costs are higher in comparison to an integrated process. Reactive separation

processes, a combination of separation and reaction inside a single unit, is an

increasingly used technology. Reactants are converted to products with simul-

taneous separation of the products and recycle of unused reactants. Reactive

separation can be efficient, both in size and in cost of capital equipment as

well as in energy. [8]

Reaction can be used to improve separation or separation can be used

to improve reaction. In the first case a reactive entrainer is added. This

entrainer reacts with one of the components in the mixture that has to be
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1.2 Current production processes

separated, making the separation easier. In the second case the products

are separated from the reaction mixture by shifting the chemical equilibrium.

Reactive Distillation has several advantages [8, 9]:

• Increased yield by shifting the chemical and thermodynamic equilibrium

through continuous removal or reactants or products from the reaction

mixture.

• Improved selectivity through suppression of undesired side reactions by

removing one of the products from the reaction mixture.

• Reduced energy consumption via direct heat integration in case of exother-

mic reactions.

• Avoidance of hot spots by simultaneous liquid evaporation.

• Avoidance of azeotropes and separation of close boiling components using

a reactive entrainer.

• A multi-functional reactor design can be applied, such as several cata-

lyst zones in one Reactive Distillation column to allow more than one

reaction.

These advantages can result in reduced capital investment and lower operat-

ing costs because the amount of hardware would be reduced by using Reactive

Distillation compared to conventional processes. In some processes the im-

provements by using Reactive Distillation are significant. It is expected that

many more processes are suitable for Reactive Distillation. [10] However, Re-

active Distillation is not always advantageous, there are also some constraints

[8, 9]:

• Common operation range (temperature and pressure) for distillation and

reaction is required.

• Proper boiling point sequence: the key component should be a top or

a bottom product, undesired side or consecutive products should be

medium boiling components.

15
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• Difficulties in providing proper residence time characteristics.

• High flow rates can give problems due to liquid distribution problems.

Among suitable Reactive Distillation processes are etherifications, nitra-

tions, esterifications, transesterifications, condensations and alkylations [8, 11].

One of the best known Reactive Distillation processes is the Eastman Chem-

ical Company’s methyl acetate process. By making methyl acetate through

Reactive Distillation instead of the conventional process, eleven major units

plus peripherals are replaced by one single unit. The old technology was com-

plicated and expensive because the products form azeotropes with each other.

To obtain pure products these azeotropes have to be broken. In the Reactive

Distillation process the azeotrope is broken because one of the reactants works

as an extractant and the products are separated immediately. [10, 12, 13]

Methyl
proprionate

Acetic acid

H2SO4

Methyl alcohol

Methyl acetate

H2O

Methanol

Acetic
acid

Stripping
column

Concentration
column

Methyl acetate
reactor column

Figure 1.3: Continuous methyl acetate process [5]

In Figure 1.3 the continuous methyl acetate process is shown. The ester-

ification reaction catalysed by sulfuric acid takes place in the middle section

(reactive section) of the reactive column. Acetic acid is fed to the top sec-

tion (rectification section) of column, and the methanol to the lower section of
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1.2 Current production processes

the column. Between the acetic acid feed and the reactive section, the acetic

acid acts as an entrainer and extracts water and some methanol from methyl

acetate. The acetic acid and methyl acetate are then separated in the recti-

fication section giving high purity methyl acetate (at least 99.5 wt%) as the

top product. The catalyst and impurities (primarily methyl propionate and

isopropyl acetate) are removed from the reactor section by a sidedraw. The

impurities are further concentrated and removed from the process in two dis-

tillation columns. The catalyst and acetic acid are being recycled back into

the Reactive Distillation column. In the bottom section of the column, the

unreacted methanol and acetic acid are stripped from from the water, resulting

in water as the bottom product. [5, 9]

Besides methyl acetate, also the esterification of other alcohols has been

extensively investigated, however information on the esterification of long chain

carboxylic acids such as fatty acids by Reactive Distillation is scarce. A few

processes with various fatty esters and alcohols are described [14–16]. All refer

to a homogeneous catalyst which causes pollution of the product. Steinigeweg

and Gmehling [17] described a process using a heterogeneous catalyst. They

investigated the esterification of decanoic acid with methanol. However, the

problem of this process is that the ester is not obtained in pure form and

requires further purification. Besides that, the alcohol, except for methanol,

forms an azeotrope with water which is a disadvantage for realising higher

yields. Omota et al. [18, 19] studied the feasibility of a single column process

using a heterogeneous catalyst for the esterification of lauric acid with 2-ethyl-

hexanol and methanol. They found that it is possible to obtain pure fatty acid

ester in a single column process. Both esters can be produced in the same set-

up, but under different operating conditions. However, problems may occur

because the product purity is highly sensitive to changes in the reflux ratio.

The optimal reflux ratio is very low, which could give control problems.

The major part of the research projects are about methanol and primary

alcohols. However, for the cosmetics industry the main fatty acid esters of

interest are based on isopropanol, of which the typical reaction rates are 10-100

times lower compared to methanol and primary alcohols, requiring excessive
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reaction volumes. Chin et al. [20] and Bhatia et al. [21, 22] reported that

Reactive Distillation can be successfully applied for the for the esterification

of palmitic acid with isopropanol through Reactive Distillation with an zinc

acetate catalyst supported on silica gel. However, Chin et al. [20] also report

a low reflux ratio. As already mentioned, this could result in control problems.

1.3 Entrainer-based Reactive Distillation

Among new technologies, Entrainer-based Reactive Distillation based on solid

catalysts is a promising way eliminate the drawbacks of the current continuous

production processes. [23]

In Entrainer-based Reactive Distillation, in situ separation is used to im-

prove the yield of reaction, whereas an entrainer feed is added to make the

separation feasible by selectively increasing the relative volatility of one of

the products. Entrainer-based Reactive Distillation promises to be advanta-

geous for the synthesis of fatty acid esters. The entrainer increases the relative

volatility of water (by-product) compared to the alcohol (reactant), such that

during the reaction the water can be continuously removed by distillation.

In this way the chemical equilibrium is shifted such that higher conversions

can be obtained. Preferably different esters should be produced in the same

set-up (multi-product design), possibly using the same entrainer which will

Fatty acid

Alcohol

Fatty Acid
Ester

Water

Entrainer

Make-up
Entrainer

DS

RS

Figure 1.4: Entrainer-based Reactive Distillation
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be beneficial towards the investment costs. In Figure 1.4 the flowsheet of the

desired process is given, in which RS stands for Reactive Section and DS for

Distillation Section.

1.4 Objective and outline

The main objective of this thesis is the development of a multi-product Entrainer-

based Reactive Distillation process for the synthesis of fatty acid esters using a

heterogeneous catalyst, and evaluate it attractiveness compared to the current

technologies.

The development of a proper heterogeneous catalyst should have resulted

from a research study, conducted at the University of Amsterdam, within

the framework of the same research project. The goal of that research study

was the development of an active, selective and multi-substrate catalyst for

fatty acid esterification. The research concentrated on Sulphated Zirconia

catalyst because it showed high activity and selectivity for the esterification of

lauric acid with a variety of primary alcohols ranging from 2-ethylhexanol to

methanol [24, 25]. Unfortunately, eventually no sufficiently active Sulphated

Zirconia catalyst for the esterification with isopropanol was obtained.

With a theoretical study, Dimian et al. [23] have demonstrated, that the

Entrainer-based Reactive Distillation process has high potential for the es-

terification of lauric acid with n-propanol. However, this preliminary study

was mainly based on computer simulations. To quantify the advantages of

Entrainer-based Reactive Distillation more in detail, a thorough study regard-

ing kinetics, thermodynamics, hydrodynamics and mass transfer is necessary,

and computer simulations have to be supported by experimental results.

In order to obtain the required experimental data and achieve the overall

objective, this thesis is structured as schematically depicted in Figure 1.5. The

following topics are included:

• The entrainer is a crucial part of the Entrainer-based Reactive Distilla-

tion process. A suitable entrainer will be selected in Chapter 2, based
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on residue curve maps, flash simulations and column simulations.

• In Chapter 3 the necessary reaction kinetics are determined through

batch characterisation. Because no suitable heterogeneous catalyst was

found it was decided to continue with a homogeneous catalyst.

• Based on the results from both previous chapters a technical feasibility

analysis of the process is performed in Chapter 4. It is investigated what

gains can be obtained by using Entrainer-based Reactive Distillation

compared to conventional Reactive Distillation and other Reactive Dis-

tillation configurations. Because conventional Reactive Distillation was

the preferred configuration, this was applied in the conceptual design

instead of the Entrainer-based Reactive Distillation.

• The model used in Chapter 4 is applied on the pilot column in Chapter

5. This includes the determination of the hydrodynamic parameters of

the column packing, while in Chapter 4 the hydrodynamics of the system

were assumed to be ideal. Experiments are performed to validate this

model.

• In Chapter 6, a conceptual design, based on the model from Chapter 5,

for an industrial scale Reactive Distillation process as well as a Bubble

Column is discussed. In order to investigate the attractiveness of the

continuous processes the conceptual designs are compared to the current

technologies.

• Finally, Chapter 7 presents the conclusions of this thesis and recommen-

dations for future work
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Chapter 2

Entrainer selection

In this chapter it is demonstrated that, due to the similarities between Entrainer-

based Reactive Distillation and azeotropic distillation, the same selection rules

can be applied to select a suitable entrainer. From a list of suitable entrainers

for the azeotropic distillation of isopropanol and water, cyclohexane and iso-

propyl acetate are chosen. Residue curve maps, simulations of the distillation

section of the column, and simulations of the total Entrainer-based Reactive

Distillation concept show that both can be used as an entrainer in Entrainer-

based Reactive Distillation. Whether Entrainer-based Reactive Distillation will

be feasible, strongly depends on the kinetics of the reaction.

2.1 Introduction

In the distillation section of the Entrainer-based Reactive Distillation process

an entrainer enhances the removal of water from a water-alcohol mixture. The

water-alcohol mixture from the reactive section enters the distillation section

at the bottom as a vapour while the entrainer is fed at the top. Because of the

azeotropic nature of a water-alcohol mixture, the separation shows similarities

with azeotropic distillation. The main difference is that in azeotropic distilla-

tion the feed is not necessarily introduced at the bottom and the separation
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Chapter 2 Entrainer selection

takes place in the whole column instead of a column section. Because of these

similarities, the guidelines for entrainer selection in azeotropic distillation are

used as starting point for the entrainer selection in Entrainer-based Reactive

Distillation. Therefore the theory of the entrainer selection will be discussed

first in this chapter before discussing how this can be applied to Entrainer-

based Reactive Distillation entrainer selection. From the entrainers used in the

azeotropic distillation of water and isopropanol an entrainer will be selected

for the esterification of myristic acid with isopropanol and with n-propanol

through the Entrainer-based Reactive Distillation process. With the aid of

residue curve maps, simulations of the distillation section and simulations of

the total concept it will be investigated whether this entrainer is also suitable

for the Entrainer-based Reactive Distillation process.

2.2 Theory

2.2.1 Azeotropic distillation

The term azeotropic distillation has been used for different distillation tech-

niques in which the specific azeotropic behaviour is used to effect a separation.

In other words, every method to make the separation of an azeotropic mix-

ture feasible can be called azeotropic distillation. [1] Most of these methods,

except pressure-swing distillation, make use of the addition of a “mass sep-

arating agent” or so called entrainer. This entrainer enhances the relative

volatilities of the components and causes an easy separation of the original

components. Entrainers can be divided into distinct classes that define the

principal distillation techniques. There are four types of entrainers [2, 3]:

1. Liquid entrainers that do not induce liquid-phase separation are used in

homogeneous azeotropic distillation. Classical extractive distillation is a

special case in this category.

2. Liquid entrainers that do induce liquid-phase separation are used in het-

erogeneous azeotropic distillation.
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3. Reactive entrainers that react with one of the components such that

the product can be easily separated from the non-reacting components.

This is Reactive Distillation in which the reaction is used to improve the

separation.

4. Entrainers that ionically dissociate and change the composition of the

azeotrope are used in salt-effect distillation, which is a variation of ex-

tractive distillation.

The term azeotropic distillation often refers only to heterogeneous azeotropic

distillation, because this is the most used form of azeotropic distillation [2,

3]. Because the Entrainer-based Reactive Distillation process corresponds the

most with homo- and heterogeneous azeotropic distillation, the entrainer is a

non-reactive solvent, only the first two possibilities will be described more in

detail.

The feasibility of a given entrainer depends on the phase equilibrium be-

haviour of the resulting ternary or multi-component mixture. This can be

studied through residue curve maps. [1] These residue curve maps represent

the simple distillation of a mixture. In simple distillation, a mixture is boiled

and the vapour phase is removed continuously. Because the vapour phase is

always richer in the more volatile components than the liquid phase, the com-

position of the liquid will change continuously with time. The trajectory of

this liquid composition is called a simple distillation residue curve or a residue

curve. The collection of all such curves for a given mixture is called a residue

curve map. Residue curve maps can be determined experimentally or calcu-

lated with vapour-liquid-liquid equilibrium computation techniques.

Residue curves can only start at, end at, or be deflected by the pure com-

ponents and azeotropes in a mixture. They always start in an unstable node

and end in a stable node. The components and azeotropes that deflect residue

curves are saddles.

In Figure 2.1a the residue curve map for a nonazeotropic ternary mixture

is shown. All ternary mixtures without azeotrope are represented by this map.

All the residue curves originate at the light component, move toward the in-
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Figure 2.1: Residue curve maps

termediate boiling component and end at the heavy component. Following a

residue curve the boiling temperature of the mixture continuously increases

along the curve. Therefore, for Figure 2.1a it can be stated: the light com-

ponent is an unstable node; the intermediate component, which deflects the

residue curves, is a saddle; and the heavy component is a stable node.

When azeotropes are present, many different residue curve maps are possi-

ble. In Figure 2.1b an example is given. In this residue curve map a minimum

boiling binary azeotrope (C) is formed by the intermediate A) and heavy com-

ponent (B), this azeotrope is a saddle. Pure component D is an unstable node,

pure components A and B are stable node, and the boiling point order from

low to high is D → C → A or B.

When a residue curve ends in a saddle, like the residue curve connecting

component D to the azeotrope C, it has the special property that it divides the

composition triangle into two separate distillation regions. This kind of residue

curves are called distillation boundaries, which cannot be crossed. Any initial

mixture with a composition lying to the left of the distillation boundary will

result in a final residue of pure B and any initial mixture with a composition

lying into the right of the distillation boundary will result in a final residue of
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pure A. Each distillation region must contain a stable node, an unstable node

and at least one saddle. Different distillation regions can have some saddles

and nodes in common. For a feasible separation, the bottom and distillate

compositions should lie in the same distillation region.

The steady-state composition profile in a packed column at total reflux is

identical to a residue curve in simple distillation. But in the case of a finite

reflux or a staged column, the composition profile can be slightly different.

Nevertheless the simple distillation boundaries remain a good approximation

of the finite-reflux distillation bounderies. Simple distillation boundaries can

in theory be crossed by the profiles in a continuous column, but this is often

not the case, in other words residue curve maps can be used as a starting point

for feasibility studies. [2–4]

Homogeneous azeotropic distillation

As stated in the previous paragraph, a feasible distillation sequence for sep-

arating a homogeneous azeotropic mixture can be identified by determining

whether or not the desired products lie in the same distillation region. For

homogeneous azeotropic distillation there are several possibilities. In Fig-

ure 2.2 the seven most favourable maps for breaking minimum boiling binary

azeotropes, which is the case with a water-alcohol mixture, can be seen with

their corresponding column configurations. Any solvent forming a residue

curve map similar to one of these will be a feasible entrainer for separating the

azeotropic mixture. [2–4]

When the entrainer is intermediate-boiling (Figure 2.2a) and does not in-

troduce a new azeotrope, the heavier component (B) will be the bottom prod-

uct of the first column and the top mixture of A, and E will be separated into

pure components in the second column. This can be seen in the residue curve

map because all residue curves end in B and with only A and E present they

end in E.

In the case of classical extractive distillation with a heavy entrainer that

does not form any new azeotropes (Figure 2.2b), the lighter component (A) will
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Figure 2.2: Favourable residue curve maps for breaking the A-B azeotrope
using entrainer E by homogeneous azeotropic distillation [2, 4]
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be the distillate product of the first column column and the heavier component

(B) the one of the second column. In the residue curve map this can be

observed because the residue curve is pointing away from A (unstable node)

and all end in E.

When the entrainer is intermediate-boiling (Figure 2.2c) and forms a maxi-

mum-boiling azeotrope with the lighter component(A), the heavier component

(B) will be the bottom product of the first column. The top mixture of A and

E will be separated into pure A and an azeotropic mixture of A and E. This

can be seen in the residue curve map because all residue curves end in B and

with only A and E present, they end in the A-E azeotrope. This is also the

case when the entrainer is low-boiling (Figure 2.2d).

Industrial applications based on homogeneous azeotropic distillation, other

than extractive distillation are not common, because the requirement that A

and B must lie in the same distillation region in the residue curve map with

the entrainer is difficult to meet. An intermediate-boiling component that

does not form an azeotrope while the other two components form a minimum-

boiling azeotrope (Figure 2.2a) is an uncommon system and maximum-boiling

azeotropes are far less common than minimum-boiling azeotropes. An alter-

native technique is heterogeneous azeotropic distillation. [1]

Heterogeneous azeotropic distillation

As in homogeneous systems, residue curves cannot cross heterogeneous dis-

tillation boundaries. However, the key feature of a feasible heterogeneous

entrainer is that it generates a liquid-liquid immiscibility with one of the pure

components such that a point on a residue curve in the heterogeneous region

splits into two equilibrium liquid phases that can lie in two different distilla-

tion regions. In this way the distillation boundary is crossed by a liquid-liquid

phase separation.

Any entrainer that induces a liquid-phase heterogeneity over a portion

of the composition triangle, which does not divide the distillate and residue

products to be separated into different distillation regions is automatically
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Figure 2.3: Selection of residue curve maps for the entrainer selection in het-
erogeneous azeotropic distillation [2]
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a feasible entrainer. Although entrainers that are responsible for obtaining

almost pure products would be of course more favourable.

The entrainer cannot introduce a new azeotrope or it forms a maximum-

boiling azeotrope with one of the two pure components (with or without a

ternary homogeneous or heterogeneous azeotrope). In Figure 2.3 some possible

examples of the numerous possibilities can be seen. [2, 5, 6]

In both Figures 2.3a and f the A-B azeotrope is the unstable node and

therefore the distillate product. Depending on the feed composition and col-

umn specifications, the bottom product lays in the heterogeneous regions and

can be separated by decantation into two phases: a phase rich in E and a

phase rich in B.

In Figures 2.3b, c and e the E-B azeotrope is the unstable node and there-

fore the distillate product. Because this azeotrope lies in the heterogeneous

region, it can be separated by decantation into two phases: a phase rich in E

and a phase rich in B. In 2.3b, component A will be the bottom product of

the distillation column, because all the residue curves end in A. In c and e the

bottom product depends on the feed composition and column specifications.

In a it will be a mixture containing A and E and for e it can be component

A.

In Figure 2.3d a binary heterogeneous azeotrope is formed with component

B. Component A will be the distillate product of the distillation column,

because all the residue curves start in A. Depending on the feed composition

and column specifications the bottom product lays in the heterogeneous regions

and can be separated by decantation into two phases: a phase rich in E and

a phase rich in B.

In Figures 2.3g and h a binary heterogeneous azeotrope is formed with

component B, a binary homogeneous azeotrope is formed with component A

and a ternary azeotrope is formed. The ternary azeotrope is the unstable

node for all distillation regions and will be therefore the distillate product in

all cases. When the ternary azeotrope lays in the heterogeneous region (Figure

2.3g) it can be separated by decantation into two phases: a phase rich in E

and a phase rich in B. The bottom product depends on the feed composition
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and column specifications.

2.2.2 Entrainer-based Reactive Distillation

The purpose of the entrainer in Entrainer-based Reactive Distillation is to

enhance water removal instead of alcohol by distillation such that the reaction

equilibrium is shifted and a higher conversion is obtained. In order to do so,

the entrainer should fulfill the following criteria:

1. Increase the relative volatility of water compared to alcohol, such that

water can be removed over the top.

2. Have an immiscibility region with water, such that the distillate can be

separated in two immiscible liquid phases by decanting.

3. Have a low solubility of the entrainer in water, such that no further

purification is necessary.

4. Have a low solubility of water in the entrainer, such that the entrainer

can be used as a recycle.

5. Be acceptable as impurity in products.

It should be remarked that the liquid-liquid split mentioned in criterium (2) is

only desired in the decanter. Phase splitting in the distillation column should

be avoided. These criteria are similar to the heterogeneous azeotropic distil-

lation of a water-alcohol mixture in which the water is removed over the top

together with the entrainer and the alcohol leaves the column at the bottom.

From the guidelines for entrainer selection by heterogeneous azeotropic dis-

tillation, specific features that the desired distillation line map, which can be

seen in Figure 2.4, should have can be stated:

• The entrainer should form a minimum boiling ternary azeotrope with

alcohol and water (or a binary heterogeneous azeotrope with water in

the most preferable case) to create a distillation region which contains

both products: an entrainer-water mixture (composition near ternary

azeotrope) as top vapour and alcohol as bottom product.
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• This ternary azeotrope should lie in the heterogeneous region (ternary

heterogeneous azeotrope) such that the mixture can be split into two

liquid phases.

• This heterogeneous region must be wide and the tie-lines should point to

the water vertex in order to get a water rich and an entrainer rich phase

after condensation and decantation.

Entrainer
Water

Alcohol

Organic

phase

Water

phase

Top vapour

az1

az3

az2

az

4

Figure 2.4: Desired residue curve map for entrainer selection in Entrainer-
based Reactive Distillation for fatty acid esterification [7]

Note that this is a distillation line map. Distillation lines represent the

liquid composition profiles in a trayed distillation columns operating at total

reflux instead of residue curves. For practical purpose there is little difference

between the two types of curves. Following a distillation line the temperature

decreases, in case of a residue curve this is the other way around. [3]

Stéger et al. [8] reported that for a distillation column existing of different

sections, the residue curve map theory cannot be used. In this research, batch

extractive distillation was studied, in which an extractive and a rectifying sec-

tion were used. Because there are two sections in the column, the composition

profile consists of two parts and thus a residue curve map is not sufficient for

evaluating the feasibility. Besides the evaluation of residue curve maps, also
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column simulations should be included in the entrainer selection procedure to

verify the results obtained from the residue curve maps.

2.3 Methods

2.3.1 Entrainer selection

Starting point for the entrainer selection is the selection of entrainers used

in the azeotropic distillation of water and isopropanol. The Dortmund Data

Bank Software Package has been used to perform an entrainer search, based on

equilibrium data. For the separation of water and isopropanol at atmospheric

pressure this resulted in the following entrainers:

Benzene Octane

1-Chloro-2-methylpropane 1-Octene

Chloroform Tetrachloromethane

Cyclohexane Toluene

Cyclohexene Trichloroethylene

1,2-Dichloroethane Acrylonitrile

Hexane Thiophene

Heptane Acetic acid isopropyl ester

2-Methylbutane 1-Heptene

Diisopropyl ether Propyl bromide

2,2,4-Trimethylpentane 1,3-Cyclohexadiene

1-Hexene Bromodichloromethane [R20B1]

From this list, non-polar solvents, such as benzene, toluene, hexane, cy-

clohexane, et cetera, are well known as entrainer for the separation of water

and alcohols. [2, 9, 10] However, not all of these are suitable because of tox-

icity and odour. Cyclohexane is assumed the most non-polar solvent, which

is acceptable as impurity in the product. As an alternative also isopropyl ac-

etate will be investigated, because an acetate sharing the same alcohol with

the fatty ester has been reported to be a suitable entrainer [7]. Isopropyl ac-

etate, which is expected to have a lower capability for the removal of water
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than cyclohexane. Due to its more polar nature isopropyl acetate will have a

stronger affinity with water.

Residue curve maps, simulations of the distillation section and simulations

of the total concept are used to verify that cyclohexane and isopropyl acetate

are suitable entrainers for the Entrainer-based Reactive Distillation process.

2.3.2 Thermodynamic model

For the simulations in Aspen Plus a property model has to be selected. Param-

eters based on vapour-liquid equilibrium data do not give good predictions for

the liquid-liquid equilibria and vice versa. [11] Therefore a combination will be

used: NRTL parameters based on vapour-liquid equilibrium data will be used

for the interaction between isopropanol and water and isopropanol and cyclo-

hexane, and NRTL parameters based on liquid-liquid equilibrium data will be

used for the interaction between water and cyclohexane. Vapour-liquid equilib-

rium data and liquid-liquid equilibrium data from literature [12–16] of several

water-isopropanol systems including a third component, are compared to the

different available parameter sets in Aspen. Only the comparison of water-

isopropanol-cyclohexane [12] and water-isopropanol-isopropyl acetate [15, 16]

will be shown as example.

The set of NRTL parameters developed by Aspen Tech based on data from

the Dortmund Data Bank was found to correspond well with the most of the

experimental vapour-liquid equilibria literature data and is used further. The

binary coefficients used in the simulations can be found in Table 4.2.

In Figure 2.5 the vapour compositions and boiling temperatures for the

isopropanol-water-cyclohexane system reported by Verhoeye [12] and for the

isopropanol-water-isopropyl acetate system reported by Teodorescu [15], are

compared with the values calculated by Aspen Plus. In Figure 2.6a the liquid-

liquid equilibria at 25◦C are given for the literature system [12] and the sys-

tem calculated by Aspen Plus. The size of the liquid-liquid envelope is well

described but it can be seen that the tie-lines do not correspond, especially

at the side of the entrainer rich phase. In Figure 2.6b the liquid-liquid equi-
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Figure 2.5: Vapour composition of (a) water, (b) isopropanol and (c) entrainer
and (d) boiling temperatures for water-isopropanol-cyclohexane (◦) and water-
isopropanol-isopropyl acetate (4) calculated by Aspen Plus versus literature
[12, 15]

libria for water-isopropanol-isopropyl acetate at 50◦C reported by Hong [16]

and calculated by Aspen Plus are given. The tie-lines are directed the same

way but the sizes of the liquid-liquid envelopes do not correspond. Aspen Plus

predicts the entrainer rich phase to contain more entrainer and alcohol and

less water than is reported in literature.

The decanter should be simulated with a separate set of NRTL parameters

obtained from liquid-liquid equilibrium data. Because insufficient experimental

data is available, it is decided to use the current NRTL parameters. As result,

the amount of entrainer predicted by simulation is somewhat overestimated.
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Figure 2.6: Liquid-liquid equilibria for (a) water-isopropanol-cyclohexane and
(b) water-isopropanol-isopropyl acetate and (c) water-propanol-cyclohexane
calculated by Aspen Plus versus literature [12, 16, 17]

In the case of n-propanol, only liquid-liquid equilibrium data is available

for the water-n-propanol-cyclohexane system [17]. The data does not corre-

spond with each other. However, around the heterogeneous azeotrope (0.26

water, 0.15 n-propanol, 0.59 cyclohexane), which approximately will be the

composition of the stream to the decanter, the differences are relatively small.

In Table 2.2 and 2.3 the computed azeotropic mixtures are compared to

those reported in literature [18]. For the n-propanol-isopropyl acetate and
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Temperature Water Isopropanol Cyclohexane (
∑

∆x)/nc

[◦C] [-] [-] [-] [-]
69.25 0.00 0.39 0.61
69.35 0.00 0.40 0.60 0.01
69.42 0.00 0.39 0.61 0.00
69.49 0.30 0.00 0.70
69.40 0.30 0.00 0.70 0.00
80.37 0.33 0.67 0.00
80.37 0.31 0.69 0.00 0.02
80.55 0.33 0.67 0.00 0.00
64.12 0.22 0.23 0.54
64.30 0.21 0.22 0.57 0.02

Temperature Water Isopropanol Isopropyl acetate (
∑

∆x)/nc

[◦C] [-] [-] [-] [-]
77.46 0.42 0.00 0.58
75.90 0.41 0.00 0.59 0.01
76.60 0.40 0.00 0.60 0.02
80.37 0.33 0.67 0.00
80.37 0.31 0.69 0.00 0.02
80.55 0.33 0.67 0.00 0.00
80.76 0.00 0.67 0.33
80.10 0.00 0.66 0.34 0.01
80.90 0.00 0.69 0.31 0.02
75.83 0.38 0.23 0.39
75.50 0.39 0.14 0.47 0.06

Table 2.2: Azeotropes predicted by the used NRTL model (bold values)
versus literature data [18] for the water-isopropanol-cyclohexane and water-
isopropanol-isopropyl acetate
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Temperature Water n-propanol Cyclohexane (
∑

∆x)/nc

[◦C] [-] [-] [-] [-]
69.49 0.30 0.00 0.70
69.40 0.30 0.00 0.70 0.00
74.66 0.00 0.24 0.76
74.69 0.00 0.24 0.76 0.00
74.70 0.00 0.26 0.74 0.02
87.67 0.60 0.40 0.00
87.66 0.57 0.43 0.00 0.03
87.76 0.58 0.42 0.00 0.02
66.83 0.26 0.15 0.59
65.90 0.27 0.12 0.61 0.02

Temperature Water n-propanol Isopropyl acetate (
∑

∆x)/nc

[◦C] [-] [-] [-] [-]
77.46 0.42 0.00 0.58
75.90 0.41 0.00 0.59 0.01
76.60 0.40 0.00 0.60 0.02
86.01 0.00 0.30 0.70
87.67 0.60 0.40 0.00
87.66 0.57 0.43 0.00 0.03
87.76 0.58 0.42 0.00 0.02
77.14 0.41 0.09 0.50

Table 2.3: Azeotropes predicted by the used NRTL model (bold values)
versus literature data [18] for the water-n-propanol-cyclohexane and water-n-
propanol-isopropyl acetate
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the water-n-propanol-isopropyl acetate azeotrope no literature data is avail-

able. The computed composition of the water-isopropanol-isopropyl acetate

azeotrope has an average deviation from the literature composition of 0.06.

For the water-isopropyl acetate azeotrope the computed boiling temperature

deviates around one degree from the literature temperature. For all the other

azeotropes the model data corresponds well with the literature data. There-

fore, it can be concluded that the thermodynamic model may be less accurate

for the isopropyl acetate systems.

In the simulations in which also the reactive system is present, the same

property model is used. The unknown interaction parameters are estimated

using UNIFAC. UNIFAC predicts an azeotrope between myristic acid and

isopropyl myristate. It is unlikely that this will occur, because the components

have similar polarity. Therefore the interaction between those components is

set to zero manually.

2.4 Results and discussion

2.4.1 Residue curve maps

In Figure 2.7a and b the residue curve maps for the water-isopropanol-cyclohex-

ane and water-isopropanol-isopropyl acetate mixtures are shown. Both residue

curve maps show an immiscibility region and a heterogeneous ternary azeo-

trope. The heterogeneous ternary azeotrope is for all distillation regions the

unstable node because all distillation curves start in this point, thus the dis-

tillate vapour is close to the ternary azeotrope. When operating in the correct

distillation region, the residue product is isopropanol because it is a stable

node (residue curves only end here). The distillate vapour will split into two

liquid phases after condensation according to the liquid tie-lines. The immis-

cibility region of cyclohexane is situated close to the entrainer vertex, meaning

that the entrainer phase contains little water. However, the orientation of the

tie-lines seems to indicate that the aqueous phase would contain some alco-

hol and entrainer. In contrast, the tie-lines in the isopropyl acetate residue
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curve map do point to the water vertex but the immiscibility region is not

situated close to the entrainer vertex, thus the entrainer phase will contain a

significant amount of water. Because both residue curve maps look like the

desired residue curve map discussed before, it can be concluded that both

solvents are suitable. However, it should be noted that the tielines in the

water-isopropanol-cyclohexane residue curve map show inaccurate behaviour

due to the crossing among them. Column simulations should point out the

quantitative effects.
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Figure 2.7: Residue curve maps for the separation of water and isopropanol:
(a) cyclohexane, (b) isopropyl acetate, and for the separation of water and
n-propanol (+ = vapour line): (c) cyclohexane, (d) isopropyl acetate
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2.4 Results and discussion

In Figure 2.7c and d the residue curve maps for the water-n-propanol-

cyclohexane and water-n-propanol-isopropyl acetate mixture are shown. They

are similar to those with isopropanol. Therefore, when the entrainers are suit-

able for the separation of water and isopropanol, they also will be suitable for

the separation of water and n-propanol. Only in the case of cyclohexane, the

tie-lines are different. While using n-propanol they are more directed to the

water vertex than when using isopropanol. This means that after phase sepa-

ration, the aqueous phase contains less alcohol and entrainer to be recovered.

2.4.2 Column simulations distillation section

In Aspen Plus, a distillation section of 10 stages was simulated in a column

without reboiler, see Figure 2.8. The isopropanol-water mixture enters the

column at the bottom as a vapour. The entrainer enters at the top as a liquid,

with a temperature of just below its boiling point. The operating pressure is 1

bar. The effect of adding different amounts of entrainers was simulated while

the alcohol-water feed was held constant at 1000 mol hr−1. Two isopropanol-

water mixtures were evaluated: 0.10 mole fraction of water, 0.90 mole fraction

of isopropanol and 0.32 mole fraction of water, 0.68 mole fraction of isopropanol

(azeotropic composition). To distinguish between the effect on the separation

by distillation and the separation by condensation and decantation, the reflux

was not closed. The temperature of the decanter is 60◦C.

To reactive sectionFrom reactive section FEED

ENTRAINE

BOTTOM

TOP

RECYCLE

WATER

B1

B2

Figure 2.8: Flowsheet of the distillation section (DS)
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Figure 2.9: (a) Mole fraction of water in bottom and (b) mole fraction of iso-
propanol in top for different amounts of entrainer in a pseudo-binary mixture
simulation of the distillation section (DS) with a feed of 0.10 mole fraction of
water and 0.90 mole fraction of isopropanol
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Figure 2.10: (a) Mole fraction of water in bottom and (b) mole fraction of iso-
propanol in top for different amounts of entrainer in a pseudo-binary mixture
simulation of the distillation section (DS) with a feed of 0.32 mole fraction of
water and 0.68 mole fraction of isopropanol

In Figures 2.9 and 2.10 the compositions of isopropanol and water as a

pseudo-binary mixture (in calculating the compositions, the entrainer is not

considered) are given for different amounts of entrainer added. It can be seen

in Figure 2.9a that for low entrainer ratios the mole fraction of water (pseudo-

46



2.4 Results and discussion

binary mixture) in the bottom is 0.07, which is the liquid composition that

is in equilibrium with the 0.10 water, 0.90 isopropanol vapour feed. As long

as this is the bottom composition the entrainer does not function because no

water has been removed. When a certain entrainer ratio (1.0 for cyclohexane

and 0.8 for isopropyl acetate) is reached, the water mole fraction in the bottom

of the pseudo-binary mixture decreases. Due to its higher affinity with water,

isopropyl acetate has a lower value for the entrainer ratio where the entrainer

starts to have effect than cyclohexane. At a certain entrainer ratio an opti-

mum is reached, at entrainer ratios higher than this optimum, the water mole

fraction in the bottom increases again to a value of 0.10. For cyclohexane this

optimum lays around an entrainer ratio of 10, in the case of isopropyl acetate

the optimum is already reached at a ratio of 1.5.

Similar effects can be observed for an azeotropic feed mixture in Figure

2.10a. As long as the bottom contains a mole fraction of 0.32 water, the

entrainer does not function because no water is removed. The entrainer ratios

where the entrainer starts to have effect are lower than in the case of the

0.1-0.9 feed (0.8 for cyclohexane and 0.5 for isopropyl acetate. In the case of

cyclohexane no optimum is reached because above an entrainer to feed ratio

of 2, two liquid phases are obtained in the column which is not desirable.

For a feed of 0.10 mole fraction water and 0.90 mole fraction isopropanol,

it can be seen in Figure 2.9b, that in the range of entrainer ratios where

the entrainer is effective (cyclohexane: 1.0-10, isopropyl acetate: 0.8-1.5) the

amount of isopropanol in the top stream is decreased. This corresponds with

the water removal from the bottom stream: the lower the mole fraction of water

in the bottom, the lower the isopropanol fraction in the top. Despite the lower

water removal by isopropyl acetate in the bottom, the top stream contains less

alcohol than in the case of cyclohexane. The same effect is obtained for the

azeotropic feed mixture in Figure 2.10b.

In Figures 2.11 and 2.12 the compositions of n-propanol and water as a

pseudo-binary mixture (in calculating the compositions, the entrainer is not

considered) are given for different amounts of entrainer added. For cyclohexane

as entrainer, similar effects as in the isopropanol system are found. However,
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Figure 2.11: (a) Mole fraction of water in bottom and (b) mole fraction of n-
propanol in top for different amounts of entrainer in a pseudo-binary mixture
simulation of the distillation section (DS) with a feed of 0.10 mole fraction of
water and 0.90 mole fraction of n-propanol
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Figure 2.12: (a) Mole fraction of water in bottom and (b) mole fraction of n-
propanol in top for different amounts of entrainer in a pseudo-binary mixture
simulation of the distillation section (DS) with a feed of 0.60 mole fraction of
water and 0.40 mole fraction of n-propanol

in the case of isopropyl acetate as entrainer, the mole fraction of water in the

bottom will not decrease at a feed of 0.10 mole fraction of water and 0.90 mole

fraction of n-propanol. This can be seen in Figure 2.11a. The major part of

both the water and the n-propanol is pushed to the bottom. The top consists

mainly of entrainer. For an azeotropic feed mixture, it can be seen in Figure
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2.4 Results and discussion

2.12 that the mole fraction of water in the bottom decreases.

In Figure 2.13, the flow profiles along the column are given for an entrainer

to feed ratio of 0.5, 1.5, 2.5 and 4.0 for respectively cyclohexane and isopropyl

acetate, while using a feed mixture of 0.10 mole fraction water and 0.90 mole

fraction isopropanol. It can be noticed that the entrainer is more present in

the liquid phase than in the vapour phase. The amount of cyclohexane is more

gradually spread through the column than isopropyl acetate. The cyclohexane

penetrates more deeply into the distillation section, the isopropyl acetate is

more present in the top of the distillation section. The effect of the entrainer is

best seen in the isopropanol being pushed into the bottom part of the column.

In both cases, the more entrainer is added, the more isopropanol is found in

the bottom liquid phase. It seems that isopropyl acetate is a better entrainer

because initially it pushes more isopropanol to the bottom than cyclohexane.

However, at an isopropyl acetate to feed ratios of 2.5 and 4.0, the amount of

water in the bottom liquid is increasing again. When using cyclohexane, lower

water contents can be achieved.

In Figure 2.14 and 2.15 the flow profiles along the column are represented in

a ternary diagram for an entrainer to feed ratio of 0.5 and 2.5 for cyclohexane

and isopropyl acetate, while using respectively a feed mixture of 0.10 mole

fraction water and 0.90 mole fraction isopropanol or 0.90 mole fraction n-

propanol respectively. It should be noted that distillation boundaries cannot be

crossed during distillation. However, in this case no reboiler is present, which

explains the crossings. At an entrainer to feed ratio of 0.5 this distillation takes

place in the upper distillation region. In order to get a top vapour consisting

of entrainer and water and hardly any isopropanol, sufficient entrainer has to

be added such that the distillation takes place in the left distillation region.

For both entrainers it can be seen that this happens with an entrainer to feed

ratio of 2.5.

However, when too much entrainer is added, the top vapour consists of

mostly entrainer and water is not drawn off at the top. In Figure 2.14b and

2.15b it can be seen that this happens for an isopropyl acetate to feed ratio

of 2.5. From the location of the distillation boundaries it can bee seen that
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Figure 2.13: Vapour and liquid phase profiles in the distillation section sim-
ulation for a cyclohexane/feed ratio = (a) 0.5 (b) 1.5 (c) 2.5 (d) 4.0 and an
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Figure 2.13: continued
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Figure 2.14: Ternary vapour and liquid phase profiles of the isopropanol system
in the distillation section simulation for a entrainer/feed ratio of 0.5 and 2.5
for a) cyclohexane and b) isopropyl acetate as entrainer with (- -) = distillation
boundaries
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Figure 2.15: Ternary vapour and liquid phase profiles of the propanol system
in the distillation section simulation for a entrainer/feed ratio of 0.5 and 2.5
for a) cyclohexane and b) isopropyl acetate as entrainer with (- -) = distillation
boundaries
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less isopropyl acetate than cyclohexane is necessary to cross the distillation

border. This supports the values, mentioned before, for the entrainer ratios

where the entrainer starts to have effect, and that isopropyl acetate initially

pushed more isopropanol to the bottom than cyclohexane.

It can be concluded that both entrainers reduce the amount of water in the

bottom stream of the distillation section. This reduction is more effective when

cyclohexane is used than when isopropyl acetate is used. This is illustrated by

the values of the relative volatility of water compared to isopropanol. Using

cyclohexane as entrainer the relative volatility is raised from 1.4 to 9.1, while

in the case of isopropyl acetate it is only raised to a value of 1.9.

2.4.3 Column simulations total concept

To see the combined influence of the distillation section and liquid-liquid split

on the reaction, the overall concept (Entrainer-based Reactive Distillation col-

umn and decanter) for the esterification of myristic acid with isopropanol as

well as with n-propanol, was simulated in Aspen Plus, see Figure 2.16. The

Entrainer-based Reactive Distillation column is designed such that 99.0% con-

version of myristic acid and a 99.0% product purity is obtained. The input

parameters of the feed streams are based on a production of 1000 kg hr−1 (3697

mol hr−1) (iso)propyl myristate and 99% conversion of the myristic acid. The

Figure 2.16: Flowsheet Entrainer-based Reactive Distillation column
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ratio of myristic acid:alcohol is fixed at 1:1. The corresponding feeds are 3735

mol hr−1 myristic acid and 3735 mol hr−1 alcohol. The operating pressure is

1 bar and 5 bar. Cyclohexane is used as the entrainer. The temperature of

the decanter is 60◦C.

The kinetics of the reactions are experimentally determined, they are de-

scribed in Chapter 3. The reaction rate for the esterification of myristic acid

and isopropanol using p-toluene sulphonic acid is

rE = 3.33 · 105[cat] exp
(−58.9 · 103

RT

)
[A][B]

− 2.18 · 103[cat] exp
(−45.9 · 103

RT

)
[E][W ] mol L−1s−1 (2.1)

For the esterification with n-propanol using p-toluene sulphonic acid this is

rE = 6.27 · 104[cat] exp
(−47.4 · 103

RT

)
[A][B]

− 8.44[cat] exp

(−25.4 · 103
RT

)
[E][W ] mol L−1s−1 (2.2)

rE is the reaction rate, [E] the concentration ester, [A] the concentration

alcohol, [B] the concentration acid, [W ] the concentration water and [cat] is

the catalyst concentration. The chosen catalyst concentration is 0.15 M, which

is ten times larger then found in literature [19] for Reactive Distillation for the

esterification of fatty acids.

Because the reaction with isopropanol is very slow at atmospheric pressure,

a large liquid hold-up is required to reach 99% conversion at 1 bar. Therefore,

the column consists of a reactive section of 500 stages of 17 L per stage, at

an operating pressure of 5 bar this is reduced to 32 stages of 10 L per stage.

For the esterification with n-propanol this is 89 and 16 stages of 10 L per

stage, for respectively a pressure of 1 and 5 bar. Furthermore, the column has

an one stage bottom section and a distillation section on top of two stages.
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2.4 Results and discussion

The number of stages in the bottom section and the distillation section were

varied: a distillation section of two stages appeared already sufficient for the

desired separation to take place and adding more stages did not improve this

separation further.

In the esterification with isopropanol at 1 bar, the addition of the entrainer

has no positive influence on the conversion. The simulation results show that,

to reach 99% conversion, the entrainer amount must be as low as possible.

This effect is caused by a combined effect of thermodynamics and kinetics.

One of the components with the lowest boiling point in the column is the

entrainer. Therefore the amount of entrainer needed for the water removal

causes a decrease of the temperature in the column. This temperature de-

crease has an negative influence on the conversion, probably because the high

activation energy of the reaction cannot be overcome. In Figure 2.17 it can

be seen that with increasing entrainer amount, the column temperature and

conversion decreases.
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Figure 2.17: Influence of the entrainer (cyclohexane) amount on a) the column
temperature and b) the conversion in the Entrainer-based Reactive Distillation
for isopropanol (−) and n-propanol (−−) for a feed of 3735 mol hr−1 myristic
acid and 3735 mol hr−1 alcohol

However, in the esterification with n-propanol, the addition of the entrainer

has a positive influence on the conversion. More entrainer leads to a higher con-
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version. The activation energy of the esterification reaction with n-propanol

is lower than with isopropanol. Also the n-propanol itself has a higher boiling

point than isopropanol. Therefore the column temperature will be higher and

more entrainer is needed to lower the temperature to the same level as in the

case with isopropanol. Figure 2.17a shows that the column temperature in the

case of n-propanol is indeed higher than in the case of isopropanol. The tem-

perature also decreases with the amount of entrainer added, but the decrease

is slower. Figure 2.17b shows that more entrainer leads to a higher conversion.

At an operating pressure of 5 bar the addition of the entrainer a positive

influence on the conversion for both the esterification of myristic acid with n-

propanol and isopropanol. Due to the higher pressure, the column temperature

is higher and the combined effect of reaction kinetics and thermodynamics, as

seen in the simulations for the esterification of myristic acid with isopropanol

at 1 bar, does not take place. This can be seen in Figure 2.17. It is noticed that

with increasing amount of entrainer the conversion increases till an optimum

is reached at 2500 mol hr−1 entrainer for the esterification with isopropanol

and 2700 mol hr−1 entrainer for the esterification with isopropanol at 5 bar

and for the esterification with n-propanol at 1 and 5 bar.

In Figures 2.18 and 2.19 the vapour and liquid phase composition profiles

along the stages of the Entrainer-based Reactive Distillation column are given,

for the esterification of myristic acid with n-propanol at 1 bar for a feed of

3735 mol hr−1 myristic acid, 3735 mol hr−1 n-propanol and 14800 mol hr−1

cyclohexane or 12800 mol hr−1 isopropyl acetate. From the profiles can be

seen that the cyclohexane does not enter the reactive section and is mainly

present in the distillation section as a vapour. The isopropyl acetate does enter

the reactive section slightly. The unreacted n-propanol leaves the column at

the top. The produced water is pulled into the distillation section as a vapour,

where it leaves the top in a mixture with entrainer and alcohol.

As expected, the cyclohexane is more capable of removing the water than

isopropyl acetate. This is illustrated by the ’sharper’ column profiles. In the

case of cyclohexane the removal only takes place in the distillation section and

the conversion can be achieved in a smaller column. However, more cyclo-
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hexane than isopropyl acetate is needed to achieve the same conversion. This

caused by the difference in size of the heterogeneous region. Since the column

profile inside the top distillation section has to remain into the homogeneous

region. More cyclohexane than isopropyl acetate is needed to achieve this.
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Figure 2.18: (a) Vapour and (b) liquid phase profiles in the Entrainer-based
Reactive Distillation column with cyclohexane
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Figure 2.19: (a) Vapour and (b) liquid phase profiles in the Entrainer-based
Reactive Distillation column with isopropyl acetate
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Chapter 2 Entrainer selection

2.5 Conclusions

It was investigated whether isopropyl acetate and cyclohexane, two suitable

entrainers for the azeotropic distillation of isopropanol and water, are also

suitable for the Entrainer-based Reactive Distillation process.

From the residue curve maps it follows that both solvents are suitable

entrainers. In the case of cyclohexane, after decantation, the entrainer phase

contains almost no water but the aqueous phase contains alcohol and entrainer.

In the case of isopropyl acetate the aqueous phase is almost pure water but

the entrainer phase, which will be recycled back into the column, contains a

significant amount of water.

The simulations of the distillation section of the column show that both

entrainers reduce the amount of water in the bottom stream of the distillation

section. This reduction is more effective when cyclohexane is used than when

isopropyl acetate is used.

The simulations of the total Entrainer-based Reactive Distillation concept

prove that both entrainers can be used as entrainer to obtain 99% conversion

in one single column in the case of esterification with n-propanol. This is

confirmed by Dimian et al. [7] in their research to Entrainer-based Reactive

Distillation for the esterification of lauric acid with n-propanol.

As expected, because of its non-polarity, cyclohexane is a more effective

entrainer than isopropyl acetate. In the esterification with isopropanol, the

entrainer addition has a negative influence on the conversion, due to a com-

bined effect of thermodynamics and kinetics.

Finally, it can be concluded that both cyclohexane and isopropyl acetate

can be used as an entrainer in Entrainer-based Reactive Distillation, but cyclo-

hexane is preferred. Apparently, for the entrainer selection in Entrainer-based

Reactive Distillation the same rules can be applied as used in the entrainer

selection for azeotropic distillation. However, the kinetics of the reaction can

be an obstruction for the Entrainer-based Reactive Distillation concept to be

feasible.
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Nomenclature

Nomenclature

[A] Fatty acid concentration [mol L−1]

[B] Alcohol concentration [mol L−1]

[cat] Catalyst concentration [M]

[E] Ester concentration [mol L−1]

[W ] Water concentration [mol L−1]

R Gas constant [J mol−1 K−1]

T Temperature [K]

rE Reaction rate [mol L−1 s−1]
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Chapter 3

Reaction kinetics

In this chapter the reaction kinetics of the esterification of myristic acid with

isopropanol with n-propanol are determined, using sulphated zirconia (SZ) and

p-toluene sulphonic acid (pTSA) as catalysts, for a temperature range of 343-

403K. SZ appeared to be an unsuitable catalyst for the esterification of myristic

acid with isopropanol since it did not increase the reaction rate of the uncatal-

ysed reaction. For the reactions with pTSA the reaction rates are determined.

The reactions follow first order kinetics in all components. The kinetic model

corresponds with the results for the esterification of myristic acid with iso-

propanol determined by Yalçinyuva et al. [1] for 333-353K and the results

for the esterification of palmitic acid with isopropanol determined by Aafaqi et

al. [2] for 373-443K. As expected, the reaction rate increases with increasing

amount of catalyst and with increasing temperature. The reaction rate and

equilibrium conversion increases with an increasing alcohol to myristic acid

feed ratio. The reaction with n-propanol is considerably faster (at 373K about

3.8 times) than the reaction with isopropanol.
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Chapter 3 Reaction kinetics

3.1 Introduction

In the reactive section of the Entrainer-based Reactive Distillation column, the

catalysed esterification reaction of a fatty acid (A) with an alcohol (B) takes

place, forming a fatty acid ester (E) and water (W):

A + B
catalyst−−−−−⇀↽−−−−− E +W (3.1)

Despite the low activity, harsh reaction conditions, sensitivity to poisons

and diffusion problems, the important advantages of heterogenous catalysis

are the easy separation from the product and the applicability in continuous

processes. Furthermore, the purity of the product is higher since the side

reactions can be largely eliminated and the environment is less corrosive. [1–

3]

Because of these advantages, the esterification reaction is preferably catal-

ysed by a heterogeneous catalyst, which is enclosed in a structured Reactive

Distillation packing. To calculate the conversions in the reactive section, the

kinetic parameters should be known. Therefore, the reaction kinetics of the

esterification of isopropanol and myristic acid were investigated.

To our knowledge, one kinetic study has been reported in the literature

for the esterification of myristic acid with isopropanol using pTSA, H2SO4,

Amberlyst15 and a Degussa silica based catalyst. [1]. In this study, the kinetics

were measured at 60-80◦C, but for Reactive Distillation higher temperatures

are needed to obtain sufficiently high conversions. Therefore, we study the

reaction at a more appropriate range of 70-130◦C. Also a number of studies

discussed the esterification reactions of other fatty acids using homogenous

and heterogeneous catalysts. [2, 4–11]. An overview is given in Table 3.1.

In other research [12, 13] , which was part of the same project, different

heterogeneous catalysts, like ion exchange resins, zeolites and sulphated metal

oxide (zirconia, titania an tin oxide) were compared, based on their activity

and selectivity. Sulphated zirconia showed high activity and selectivity for the

esterification of lauric acid with a variety of primary alcohols ranging from

62



3.1 Introduction

R
ea
ct
io
n

C
at
a
ly
st

R
ef
er
en
ce

D
ec
an

oi
c
ac
id

+
m
et
h
an

o
l

A
m
b
er
ly
st

1
5

S
te
in
ig
ew

eg
an

d
G
m
eh
li
n
g
[7
]

L
au

ri
c
ac
id

+
is
o
b
u
ta
n
ol

H
2
S
O

4
E
l-
K
in
aw

y
et

al
.
[6
]

M
y
ri
st
ic

a
ci
d
+

is
op

ro
p
a
n
o
l

p
T
S
A
,
H

2
S
O

4
,

Y
al
çi
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Chapter 3 Reaction kinetics

2-ethylhexanol to methanol. It has a high thermal stability and strong acid

sites. The large pores do not limit the diffusion of the fatty acid molecules.

Sulphated zirconia does not leach under the reaction conditions and does not

give rise to side reactions such as etherification or dehydration. [12, 13]

p-Toluene sulphonic acid (pTSA) was used as a homogeneous catalyst,

because it was reported to have a better catalytic performance compared to

sulphuric acid. [1, 2, 4].

In this chapter first the heterogeneously catalysed reaction will be dis-

cussed. Because the experimental data showed that no suitable heterogeneous

catalyst is available for the esterification of myristic acid, also the homoge-

neously catalysed reaction using pTSA is investigated for the esterification of

myristic acid with isopropanol and with n-propanol. A mathematical model

is used to determine the kinetic parameters from the experimental data and

the influence of the reaction temperature, catalyst loading and myristic acid

to alcohol feed ratio is discussed.

3.2 Heterogeneously catalysed reaction

3.2.1 Theory

Heterogeneously catalysed kinetics are quite complex, including adsorption

and desorption steps to the catalyst. [14] Using reaction orders is a simplistic

approach to describe the heterogeneously catalysed kinetics. In the case of

homogeneously catalysed kinetics, the majority of the researchers report that

an esterification reaction follows second order reversible kinetics (first order in

all components). [1, 2, 4–6, 15, 16] Which is also mostly assumed to be true

for simplifications of heterogeneously catalysed kinetics. [2, 7, 9, 16]

Heterogeneously catalysed kinetics can be approximated by a pseudoho-

mogeneous model, in which the heterogeneous system is considered to be ho-

mogeneous. [7, 17] When first order kinetics in all components is assumed, the

reaction rate (rE) of the homogenous reaction can be described by
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3.2 Heterogeneously catalysed reaction

rE [cat] = (k1[A][B]− k−1[E][W ]) (3.2)

where [cat] is the catalyst concentration, [E] the ester concentration, [A] the

alcohol concentration, [B] the acid concentration, [W ] the water concentration,

k1 the rate constant of the forward reaction and k−1 the rate constant of the

backward reaction. In this equation, the reaction rate constants k1 and k−1

are assumed to be linearly dependent on the catalyst concentration. Various

studies support this assumption [3, 8, 18, 19].

During the kinetic experiments performed in this research, no water and

ester will be present at the start of the reaction, only an initial concentration

of alcohol [A]0 and acid [B]0 is present. The etherification of the alcohol

is negligible. The reaction volume during the reaction is considered to be

constant. Therefore, the following substitutions hold:

• [A] = [A]0 − [E]: the alcohol concentration equals the initial concentra-

tion of alcohol minus the ester concentration formed.

• [B] = [B]0 − [E]: the acid concentration equals the initial concentration

of acid minus the ester concentration formed.

• [W ] = [E]: the amount of water formed equals the amount of ester

formed.

Implementing these substitutions in Eq. 3.2 gives

rE = [cat](k1([A]0 − [E])([B]0 − [E])− k−1[E]2) (3.3)

The temperature dependency of the rate constants can be simplified by the

Arrhenius equation,

k = k0 exp

(−Ea

RT

)
(3.4)

in which k0 is the pre-exponential factor, Ea the activation energy, R the gas

constant and T the temperature.
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Chapter 3 Reaction kinetics

If the liquid phase non ideality is incorporated into the pseudohomogeneous

model, Eq. 3.2 may be expressed in terms of activities:

rE = [cat](k1aAaB − k−1aEaW ) (3.5)

where ai are the activity coefficients of the corresponding components. Tak-

ing the liquid-phase nonideality into account is not sufficient to describe the

heterogeneous kinetics. The interaction between the reactants and the solid

catalyst, such as sorption effects, are neglected. To incorporate these effects,

an adsorption-based model should be used. [7, 17]

Different authors reported [2, 7, 17, 20] that the esterification of acids by

heterogeneous catalysts can be described by a Langmuir-Hinshelwood-Hougen-

Watson (LHHW) model. The LLHW equation for a reversible esterification

that is first order in all components is written as follows:

rE = [cat]

(
k1KAaAKBaB − k−1KEaEKWaW

(1 +KAaA +KBaB +KEaE +KWaW )2

)
(3.6)

in which the K values are the adsorption equilibrium constants.

In the case of ion-exchange resins, water is preferably sorbed and therefore

sorption effects can be summarised wit a singular sorption constant Ksorb and

the equation can be simplified to [7]:

rE = [cat]

(
k1aAaB

(KsorbaW )2
− k−1aE

KsorbaW

)
(3.7)

For other catalysts, adsorption experiments should be done to determine the

adsorption of the different components.

Reactive Distillation simulation results based on the LHHW model are

more accurate than those based on the pseudohomogeneous model. [7] How-

ever, the LHHW model is not easily included in AspenPlus RADFRAC. The

pseudohomogeneous model on the other hand, is simple, the description of

the kinetics is qualitatively good and can be easily implemented in AspenPlus

RADFRAC. Therefore the use of the pseudohomogeneous model is preferred.
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3.2 Heterogeneously catalysed reaction

3.2.2 Experimental

Apparatus

The experiments are conducted in an autoclave from Büchi Glas Uster (eco-

clave075) purchased at Autoclave. The autoclave has a thermostated steel

vessel with a volume of 1 L. Inside the vessel, a turbine stirrer and baffle are

present. The autoclave is mounted with a burette to add the alcohol. For

the heterogeneous catalyst, a catalyst basket is mounted on the baffle rod. A

picture of this catalyst basket can be found in Figure 3.1.

Figure 3.1: Catalyst basket

Materials and catalysts

Isopropanol (≥99.5%) from Acros and myristic acid (≥95%) from Sigma-

Aldrich were used as the reactants. The Sulphated Zirconia (SZ) catalyst

with a SO3 loading of 6.5% was supplied by Norpro Saint-Gobain. Nafion
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Chapter 3 Reaction kinetics

SAC13 with a capacity of 0.14 meq/g was supplied by BASF. Amberlyst 15(

wet) with a capacity of 4.7 meq/g dry weight was purchased at Sigma-Aldrich.

Dodecane (≥98%) and methyl ethyl ketone (≥99%), for the analysis, were

obtained from Fluka.

Analysis

All samples of the kinetic experiments were analysed by gas chromatography.

The column is a Varian WCOT Fused Silica 50m x 0.32 mm column coated

with CP-Sil 5CB. H2 is used as carrier gas at a constant speed of 2 mL min−1.

The temperature program, 75◦C for 5 min, than 40◦C min−1 to 225◦C and

maintain 225◦C for another 11.25 min. Dodecane is used as an internal stan-

dard and methyl ethyl ketone as solvent.

Procedure

Melted myristic acid is charged into the reactor. When the alcohol and the

catalyst are added, the temperature will drop. Therefore the acid is heated

above the designated temperature. The alcohol is added to the superheated

acid using a burette. The temperature decreases till approximately five degrees

below the desired temperature. The reaction mixture is heated, and in less

than five minutes the desired temperature is reached. The reaction mixture is

kept constant at the desired temperature, with a maximum deviation of 1K.

Due to the applied temperature, the alcohol and water evaporate which causes

the pressure to rise. There is no other gas present. In the experiments with a

heterogeneous catalyst the basket in the reactor is filled with catalyst. After

addition of the alcohol, the stirring is started. Because of the slow reaction,

the reaction is continued for three days. The first day samples are taken every

hour, the second and third day, every two hours. To determine the influence

of the external mass transfer on the reaction rate, the stirrer speed was varied

between 700 and 900 rpm in additional runs. No influence of the stirrer speed

on the reaction rate was detected. Therefore, all further experiments were

conducted at a stirrer speed of 900 rpm.
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3.2 Heterogeneously catalysed reaction

3.2.3 Results and Discussion

In Figure 3.2a the experimental results for the autocatalysis reaction and a

reaction with 10 grams of Sulphated Zirconia catalyst at 130◦C are shown.

It can be seen that there is no significant difference between the two curves.

Thus, the reaction rates for both reactions are comparable. The Sulphated

Zirconia is not a successful catalyst. Also Nafion SAC13 and Amberlyst 15

were investigated. In Figure 3.2b, it can be seen that the activity of these

catalysts was also not very high at the applied reaction conditions, the ester

concentrations do not differ much from those at autocatalysis.

Yalçinyuva et al. [1] investigated the same reaction with Amberlyst 15 and

a silica-based Degussa catalyst, which were reported to be successful in the

esterification of carboxylic acids with short alkyl chains. [3, 18] However, in

the esterification of myristic acid with isopropanol very low conversions (5-10%

after 5 hours) were found. They explained this phenomenon by the diffusion

problem of myristic acid into the pores of the catalyst. In Figure 3.2 it can be

seen that comparable results are found in this research.
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Figure 3.2: Comparison of the reaction rate of the esterification of myristic
acid with isopropanol for a) autocatalysis and 10 grams of Sulphated Zirconia
catalyst at 130◦C and a equimolar ratio of isopropanol to myristic acid and for
b) autocatalysis, Sulphated Zirconia, Nafion SAC13, Amberlyst 15 and pTSA
at 100◦C and a equimolar ratio of isopropanol to myristic acid
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From the above results it can be concluded that none of the investigated

heterogeneous catalysts is suitable for the esterification of myristic acid and

isopropanol at the desired conditions. Therefore the focus will be on a homo-

geneous catalyst: p-toluene sulphonic acid.

3.3 Homogeneously catalysed reaction

3.3.1 Theory

McCracken and Dickson [21] found that with a homogeneous catalyst the es-

terification of acetic acid with cyclohexanol is second order in acid and first

order in alcohol. Vieville et al. [9] reported that the esterification of oleic acid

with methanol is only first order in acid. However, the majority of the re-

searchers report that an esterification reaction follows second order reversible

kinetics (first order in all components). For example, Dhanuka et al. [16]

showed that the esterification could be expressed by second order (first order

in both reactants) reversible kinetics. The same approach was used by other

researchers for fatty acid esterification reactions [1, 2, 4–6, 15].

When the most commonly reported first order kinetics in all components

is assumed, the reaction rate (rE)of the homogenous reaction can be described

by

rE = [cat](k1[A][B]− k−1[E][W ]) (3.8)

where [cat] is the catalyst concentration, [E] the ester concentration, [A] the

alcohol concentration, [B] the acid concentration, [W ] the water concentration,

k1 the rate constant of the forward reaction and k−1 the rate constant of the

backward reaction.

The reaction rate constants k1 and k−1 are assumed to be linearly depen-

dent on the catalyst concentration. Various studies support this assumption

[3, 8, 18, 19].

The liquid-phase nonideality can be taken into account by using activities

instead of concentrations or mole fractions, resulting in a more consistent and
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3.3 Homogeneously catalysed reaction

accurate description [7, 17]. However, the activity-based model is not easily

included in AspenPlus RADFRAC. The concentration-based model on the

other hand, is simple, the description of the kinetics is qualitatively good and

can be easily implemented in AspenPlus RADFRAC. Therefore we have chosen

to use the concentration-based model.

In the kinetic experiments performed in this research, no water and ester is

present at the start of the reaction, only an initial concentration of alcohol [A]0

and acid [B]0 is present. The etherification of the alcohol is negligible. The

reaction volume during the reaction is considered to be constant. Therefore,

the following substitutions can be made based on the reaction stoichiometry:

• [A] = [A]0 − [E]: the alcohol concentration equals the initial concentra-

tion of alcohol minus the ester concentration formed.

• [B] = [B]0 − [E]: the acid concentration equals the initial concentration

of acid minus the ester concentration formed.

• [W ] = [E]: the amount of water formed equals the amount of ester

formed.

Implementing these substitutions in Eq. 3.8 gives

d[E]

dt
= [cat](k1([A]0 − [E])([B]0 − [E])− [cat]k−1[E]2 (3.9)

The temperature dependency of the rate constants can be expressed by the

Arrhenius equation [22]:

k = k0 exp

(−Ea

RT

)
(3.10)

in which k0 is the pre-exponential factor, Ea the activation energy, R the

gas constant and T the temperature. Combining Eq. 3.9 and 3.10 gives
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Chapter 3 Reaction kinetics

rE = [cat]k01 exp

(−Ea,1

RT

)
([A]0 − [E])([B]0 − [E])

− [cat]k0−1 exp

(−Ea,−1

RT

)
[E]2 (3.11)

This model contains four model parameters (k01,k
0
−1,Ea,1 and Ea,−1), that

can be estimated in Matlab using a nonlinear least squares algorithm, as dis-

cussed by Levenberg and Marquardt [23].

The equilibrium constant Keq gives information on the maximum conver-

sion that can be reached when the reaction is performed in a closed vessel.

Keq is given as:

Keq =
[E][W ]

[A][B]
(3.12)

with the concentrations at equillibrium. At equillibrium the net rates are equal

to zero:
d[E]

dt
= k1[A][B]− k−1[E][W ] = 0 (3.13)

Combining Eq. 3.12 and 3.13 yields:

Keq =
[E][W ]

[A][B]
=

k1
k−1

(3.14)

Yalçinyuva et al. [1] obtain the backward reaction rate constant by divid-

ing the forward reaction rate constant by the equilibrium constant, which was

determined experimentally. They reported that phase splitting occurs, result-

ing in inaccurate measured values of the equilibrium constant based on the

overall composition, since phase splitting causes the overall composition to be

different from the composition in the separate phase. Therefore, the backward

reaction rate constant is obtained from the model, since this was considered

to be a more reliable approach.
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3.3 Homogeneously catalysed reaction

3.3.2 Experimental

Apparatus

The experiments are conducted in an autoclave from Büchi Glas Uster (eco-

clave075) purchased at Autoclave. A picture of the set-up can be found in

Figure 3.3. The autoclave has a thermostated steel vessel with a volume of 1

L. Inside the vessel, a turbine stirrer and baffle are present. The autoclave is

mounted with a burette to add the alcohol.

Figure 3.3: Experimental setup for measuring the reaction kinetics

Materials and catalysts

Isopropanol (≥99.5%) from Acros or n-propanol (≥99.5%) from Sigma-Aldrich

and myristic acid (≥95%) from Sigma-Aldrich were used as the reactants. The

p-toluene sulphonic acid (pTSA) catalyst was obtained as p-toluene sulphonic

acid monohydrate (98.5%) from Aldrich. Dodecane (≥98%) and methyl ethyl
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Chapter 3 Reaction kinetics

ketone (≥99%), for the analysis, were obtained from Fluka.

Analysis

All samples of the kinetic experiments were analysed by gas chromatography.

The column is a Varian WCOT Fused Silica 50m x 0.32 mm column coated

with CP-Sil 5CB. H2 is used as carrier gas at a constant speed of 2 mL min−1.

The temperature program, 75◦C for 5 min, than 40◦C min−1 to 225◦C and

maintain at 225◦C for another 11.25 or 14.25 min for respectively the reaction

with isopropanol or n-propanol. Dodecane is used as an internal standard and

methyl ethyl ketone as solvent.

Procedure

Melted myristic acid is charged into the reactor. When the alcohol and the

catalyst are added, the temperature will drop. Therefore the acid is heated

above the designated temperature. The alcohol is added to the superheated

acid using a burette. The temperature decreases till approximately five degrees

below the desired temperature. The reaction mixture is heated, and in less

than five minutes the desired temperature is reached, the reaction mixtures

is kept constant at this temperature. Due to the applied temperature, the

alcohol and water will evaporate which causes the pressure to rise. There is

no other gas present. The pTSA is mixed with the alcohol. After addition of

the alcohol, the stirring is started. Samples are taken at 5, 10, 15, 20, 25, 30,

40, 50, 60, 90, 120 and 180 minutes.

3.3.3 Results and discussion

Kinetic Model

During the experiments the temperature was varied between 75◦C and 130◦C,

the catalyst amount used during the experiments was varied between 0.017

and 0.052 M pTSA and alcohol:myristic acid feed ratios were varied between

0.5 and 2. In the case of isopropanol, the concentration profiles of twelve of
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3.3 Homogeneously catalysed reaction

these experiments were used to determine the unknown parameters from Eq.

3.11. The other three datasets were used to validate the model. In the case

of n-propanol, the concentration profiles of all nine experiments were used to

determine the unknown parameters. Table 3.2 and 3.3 contains the computed

kinetic parameters.

isopropanol 95% confidence bounds

k01 [Lmol−1s−1] 3.33 · 105 2.85 · 105
k−1 [Lmol−1s−1] 2.18 · 103 6.54 · 103
Ea,1 [Jmol−1] −58.9 · 103 2.64 · 103
Ea,−1 [Jmol−1] −45.9 · 103 9.40 · 103
R2 0.9823

R2 validation 0.9933

Table 3.2: Kinetic parameters for the reaction with isopropanol

n-propanol 95% confidence bounds

k01 [Lmol−1s−1] 6.27 · 104 6.21 · 104
k−1 [Lmol−1s−1] 8.44 17.38
Ea,1 [Jmol−1] −47.4 · 103 3.07 · 103
Ea,−1 [Jmol−1] −25.4 · 103 9.26 · 103
R2 0.9288

Table 3.3: Kinetic parameters for the reaction with n-propanol

The coefficient of determination (R2) is the ratio of variance in the model

and the variance in the data. A value close to unity means that the values

predicted by the model equal the experimental values. The higher value for

R2 for the reaction with isopropanol means that the model for the reaction

with isopropanol gives a better description of the experimental values than

the model for the reaction with n-propanol. The actual rate constant k at

the corresponding reaction temperature is largely dependant of the activation

energy. Therefore the values for k0 cannot be compared with each other, since

the activation energies for the forward and backward reaction are different.

In Figure 3.4 the ester concentrations calculated by the kinetic model and
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Figure 3.4: Ester concentrations calculated by the kinetic model versus ex-
perimental values for a) isopropanol and b) n-propanol, (–) = model equal to
experimental, (- -)= deviation of twice the standard deviation

the experimental values are compared. The dashed lines from the error bounds

are on the basis of twice the standard deviation. Statistically, in a normal

distribution, 95% of the values will be in this area. As can be seen, almost all

values are within these boundaries. This means, that the model is sufficiently

accurate to describe the experimental reaction kinetics.

Yalçinyuva et al. [1] performed a kinetic study of the esterification of

myristic acid with isopropanol using p-toluene sulphonic acid at a temperature

range of 60-80◦C. In Figure 3.5a the conversions calculated by the kinetic

model are compared to the experimental values of Yalçinyuva et al. [1]. The

dashed lines from the error bounds are on the basis of twice the standard

deviation. As can be seen, all values are within these boundaries.

In Figure 3.5b the forward reaction rate constants (k1) and the backward

reaction rate constants (k−1) for the kinetic model and the experimental data

of Yalçinyuva et al. [1] are compared. For the forward reaction rate constant

there is a good correspondence between the model and literature values. For

the backward reaction rate constant, one point shows a strong deviation, the

rest of the point are show a good correspondence between the model and

literature values. Yalçinyuva et al. [1] obtain the backward reaction rate
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Figure 3.5: a) Conversions and b) reaction rate constants calculated by the
kinetic model versus experimental values of Yalçinyuva(–) = model equal to
experimental, (- -)= deviation of twice the standard deviation

constant by dividing the forward reaction rate constant by the equilibrium

constant, which was determined experimentally. They reported that phase

splitting occurs, therefore there will be a discrepancy between the experimental

equilibrium constants and those calculated via the kinetic model as discussed

previously.

Aafaqi et al. [2] studied the esterification of palmitic acid with isopropanol

using p-toluene sulphonic acid as catalyst at a temperature range of 373-443K.

In Figure 3.6 the calculated ester concentration profiles of the esterification of

myristic acid and palmitic acid (reaction kinetics from Aafaqi et al. [2]) with

isopropanol are compared for a reaction temperature of 393K and a catalyst

concentration of 0.029 M. It can be seen that the difference between both

curves is small. The esterification of palmitic acid is slightly faster, despite

the longer carbon chain. El-Kinawy et al. [6] showed for the esterification of

propionic, butyric, lauric, myristic and stearic acid with isobutanol that there

is no unambiguous relationship between the esterification rate constant and

the acid chain length.
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Figure 3.6: Ester concentration of the esterification reactions of myristic acid
and palmitic acid with isopropanol with [cat]=0.029 M, at a temperature of
393K and an acid to alcohol feed ratio equal to unity

Effect of reaction temperature

Figure 3.7 shows the experimental results and the model for different tempera-

tures. It should be remarked that the model prediction shown in the figure are

those for the single parameter set fitted to all experiments, in case the model
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Figure 3.7: Effect of reaction temperature on the esterification reaction
of myristic acid with a) isopropanol ([cat]=0.036 M) and b) n-propanol
([cat]=0.032 M), at a myristic acid to alcohol feed ratio equal to unity
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3.3 Homogeneously catalysed reaction

would have been fitted to only the experimental results shown in the figure, it

could have matched the experiments more closely. However, the parameters

obtained in this case, would have had a smaller range of conditions for which

they would be valid. It can be seen that the model corresponds quite well with

the experimental results, especially in the initial phase of the experiments. At

longer times, the deviations become larger, the occurrence of a phase sepa-

ration may be a possible explanation for these deviations [1]. The reaction

rate increases with increasing temperature, also the equilibrium conversion in-

creases with increasing reaction temperature. At a higher temperature more

collisions and more successful collisions occur. These successful collisions have

sufficient energy to break the bonds, form products and thus result in higher

values of myristic acid conversion. [19]

Effect of catalyst loading

The amount of catalyst influences the reaction rate, because more H+-ions

become available when the amount of catalyst in the mixture increases. Figure

3.8 shows a plot of the initial reaction rate (rE,0) for both the experimental

results and the model, for different catalyst concentrations. It can be seen that

the model corresponds quite well with the experimental results. As expected,
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Figure 3.8: Effect of catalyst loading on the initial reaction rate for the es-
terification of myristic acid with isopropanol n-propanol, at a temperature of
373K and a myristic acid to alcohol feed ratio equal to unity
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the initial reaction rate increases with increased amounts of catalyst.

Effect of myristic acid to alcohol feed ratio

In Figure 3.9 the experimental results and the model of the esterification re-

actions are given for different myristic acid to alcohol feed ratios. For both

reactions it can be seen that the model corresponds quite well with the exper-

imental results.
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Figure 3.9: Effect of myristic acid to alcohol feed ratio on the esterification re-
action of myristic acid with a) isopropanol and b) n-propanol at a temperature
of 373K

Figure 3.9 shows that the reaction rate and equilibrium conversion increases

with a decreasing myristic acid to alcohol feed ratio. At a ratio of 2, the

conversion is significantly lower: due to the lower alcohol concentration the

reaction equilibrium is shifted towards the reactant side. At a ratio of 0.5,

more myristic acid reacts because of the excess of alcohol. Yalçinyuva et al.

[1] also reported a increasing conversion with a decreasing myristic acid to

alcohol feed ratio.
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3.3 Homogeneously catalysed reaction

Isopropanol versus n-propanol

In Figure 3.10 the experimental results and the model are given for the ester-

ification with isopropanol (T = 373K, [cat] = 0.070 M) and n-propanol (T =

373K, [cat] = 0.064 M). It can be seen that the reaction with n-propanol is

indeed much faster than the reaction with isopropanol. The initial slope of

the n-propanol curve is about 3.8 times steeper than of the isopropanol curve.

The equilibrium concentrations are of the same order, thus the maximum con-

versions are approximately the same.
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Figure 3.10: Comparison of the reaction rate between the esterification of
myristic acid and isopropanol ([cat] = 0.070 M) and with n-propanol ([cat] =
0.064 M), at a reaction temperature of 373K and a myristic acid to alcohol
feed ratio equal to unity

Equilibrium constant

Using Eq. 3.10 and 3.14 together with the computed kinetic parameters, the

equilibrium constant can be calculated. For the reaction with isopropanol this

is

Keq =
k1
k−1

=
k01 exp(

−Ea,1

RT )

k0−1 exp(
−Ea−1

RT )

= 152.29 exp

(−12.93 · 103
RT

)
(3.15)
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Figure 3.11: Experimentally determined and calculated equilibrium constants

Figure 3.11 shows the equilibrium constant calculated from the model as

described above, experimental values and experimental values of Yalçinyuva et

al. [1]. It can be seen that the experimental data are slightly below the model

prediction. This is likely caused by phase splitting. At higher conversions, the

water formed during the esterification reaction causes a multiphase reaction

medium. A correct measurement of the sample will then be difficult. However,

the experimental values and the experimental values of Yalçinyuva et al. [1]

both show the same trend as the model prediction.

3.3.4 Phase separation

The phenomenon of phase separation reported by Yalçinyuva et al. [1] may be

a possible explanation for the deviation of the model regarding to experimental

data, at higher conversions. The used kinetic model describes a pseudohomo-

geneous reaction, therefore it applies only to a single liquid phase. When two

phases are present, the model can no longer be applied.

The phase separation is caused by the immiscibility of water and myristic

acid and water and isopropyl myristate. Maeda et al. [24] reported liquid-

liquid immiscibility data on the ethanol-water-myristic acid system at a range

of 318.2-323.2K. Using isopropanol instead of ethanol will give comparable

results. Because myristic acid is more polar than isopropyl myristate, the
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system with isopropyl myristic instead myristic acid will give a slightly larger

immiscibility region. Assuming ethanol and isopropanol and myristic acid and

isopropyl myristate give the same results regarding to immiscibility, two liquid

phases are present according to the ternary diagram of Maeda et al. [24]

at conversions higher than 50%, when a equimolar feedratio of isopropanol

to myristic acid is used. Therefore, below 50% conversion, definitely only

one liquid phase will exist and the kinetic model will be valid. After this, a

transition region is reached in where phase splitting may or may not occur,

depending of the reaction conditions like feed ratio and temperature. The

validity of the kinetic model at these higher conversions is uncertain.

3.4 Conclusion

A study on the reaction kinetics of the esterification of myristic acid and

isopropanol has been done, using pTSA and SZ as catalyst.

The reaction catalysed with the heterogeneous SZ catalyst had the same

reaction rate as the uncatalysed reaction. SZ is not a suitable catalyst for the

esterification of myristic acid with isopropanol.

The resulting reaction rate for the esterification of myristic acid and iso-

propanol using pTSA is

rE = [cat]3.33 · 105 exp
(−58.9 · 103

RT

)
[A][B]

− [cat]2.18 · 103 exp
(−45.9 · 103

RT

)
[E][W ] mol L−1s−1 (3.16)

The resulting reaction rate for the esterification of myristic acid and n-

propanol using pTSA is
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rE = [cat]6.27 · 104 exp
(−47.4 · 103

RT

)
[A][B]

− [cat]8.44 exp

(−25.4 · 103
RT

)
[E][W ] mol L−1s−1 (3.17)

The reaction rate as well as the equilibrium conversion increase with in-

creasing reaction temperature. As expected, the initial reaction rate increases

with increasing amount of catalyst, but the equilibrium conversion is not influ-

enced by the catalyst. The reaction rate and equilibrium conversion increases

with a decreasing myristic acid to alcohol feed ratio. The reaction with n-

propanol is considerably faster than the reaction with isopropanol. This is

due to less steric hindrance of a secondary alcohol compared to a tertiary

alcohol.

Nomenclature

[A] Fatty acid concentration [mol L−1]

[B] Alcohol concentration [mol L−1]

[cat] Catalyst concentration [M]

[E] Ester concentration [mol L−1]

[W ] Water concentration [mol L−1]

a Activity [-]

Ea Activation energy [J mol−1]

Keq Equilibrium constant [-]

K Adsorption equilibrium constant [L mol−1]

k Rate constant [L mol−1 s−1]

R Gas constant [J mol−1 K−1]

rE,0 Initial reaction rate [mol L−1 s−1]

84



References

rE Reaction rate [mol L−1 s−1]

T Temperature [K]

References
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Chapter 4

Feasibility analysis

In this chapter the gains that can be obtained using Entrainer-based Reactive

Distillation with regard to conventional Reactive Distillation are discussed.

Five process configurations for the esterification of myristic acid with iso-

propanol and n-propanol using a homogeneous catalyst, are compared, by sim-

ulation in Aspen Plus. In the esterification with isopropanol at 1 bar, the ad-

dition of the entrainer has no positive influence on the conversion, because the

amount needed for water removal causes a temperature decrease in the column.

This temperature decrease has a negative influence on the conversion, because

the high activation energy of the reaction cannot be overcome. However, in

the esterification with isopropanol at 5 and 10 bar and in the esterification

with n-propanol (either 1, 5 or 10 bar), the addition of the entrainer has a

positive influence on the conversion. More entrainer leads to a higher conver-

sion. Surprising is the observation that the conventional Reactive Distillation

configuration (RD1) reaches the desired purity and conversion. Because of its

polarity, water is pressed out of the liquid phase, in which the reaction takes

place, so the reaction can reach nearly complete conversion. Because the de-

crease of the reaction volume due to the addition of the entrainer is rather

small and the energy consumption are comparable, conventional Reactive Dis-

tillation (RD1) is the preferable configuration for the esterification of myristic

87



Chapter 4 Feasibility analysis

acid with either isopropanol or n-propanol.

4.1 Introduction

The conceptual feasibility of Entrainer-based Reactive Distillation for the syn-

thesis of fatty acid esters is already shown by Dimian et al. [1] and Wang and

Wong [2]. This chapter will therefore focus on the gains that can be obtained

by applying Entrainer-based Reactive Distillation with regard to conventional

Reactive Distillation. The objective of this feasibility analysis is to compare

several possible process configurations from conventional Reactive Distillation

to Entrainer-based Reactive Distillation for the synthesis of fatty acid esters:

• Conventional Reactive Distillation (one column)

• Conventional Reactive Distillation (two columns)

• Conventional plus azeotropic Reactive Distillation (two columns)

• Entrainer-based Reactive Distillation (one column)

• Entrainer-based Reactive Distillation (two columns)

In this chapter first the theory of modelling Reactive Distillation processes

is discussed. After the description of the process conditions and the process

configurations, which will be investigated, a comparison between the five con-

figurations will be made.

The comparison is done on the basis of process models constructed in As-

pen Plus for the esterification of myristic acid with isopropanol using p-toluene

sulphonic acid (pTSA) as homogeneous catalyst, because it has a better cat-

alytic performance than sulphuric acid. [3–5]. The models contain the required

conditions (i.e. capacity, conversion and purity), derived from industrial pref-

erences, to produce fatty acid esters. Because the reaction with isopropanol is

rather slow, also the esterification with n-propanol and an operating pressure
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4.2 Modelling Reactive Distillation

of 5 and 10 bar is investigated. For both alcohols and each operating pres-

sure, the processes are evaluated on their ability to meet the requirements by

comparing column size and energy consumption.

4.2 Modelling Reactive Distillation

A Reactive Distillation process model consists of sub-models for mass transfer,

reaction kinetics and hydrodynamics. The completion of these sub-models

can vary from simple to complex. [6] The different approaches are depicted

schematically in Figure 4.1. Mass transfer between the vapour and liquid phase

can be described by the equilibrium stage model in which physical equilibrium

between both phases is assumed, or by a rigourous rate-base approach with

the Maxwell-Stefan diffusion equations. In homogeneous catalysed and auto-

catalysed Reactive Distillation, transport and reaction take place in a two-

phase system with an interface. The reaction can take place in the bulk liquid

and in the film phase. For slow reactions it is sufficient to only account for the

reaction in the bulk phase. For heterogeneous systems it is necessary to also

Equilibrium-based

Rate-based

Mass transfer

Chemical equilibrium

Bulk reaction

Film & bulk
reaction

Ext. & int.
resistance

Reaction kinetics

Homogeneous Heterogeneous

Plug flow

Nonideal flow

Hydrodynamics

HHH
©©©

Figure 4.1: Modelling approaches for Reactive Distillation
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include the phenomena insise the solid catalyst particles. However, the system

can be considered as pseudo-homogeneous, when all internal and external mass

transfer resistances are lumped. If the reaction is sufficiently fast, both systems

can be described by the chemical equilibrium. As for the hydrodynamics, the

system can be described as an ideal plug flow, or correlations concerning axial

dispersion, liquid hold-up and pressure drop can be included into the model.

[6]

Phase equilibrium versus chemical equilibrium

In the extreme, the equilibrium behaviour of a Reactive Distillation process

is either controlled by chemical equilibrium or phase equilibrium. In gen-

eral it will be in between those two extremes. To quantify this variation the

Damköhler number can be used. [7, 8]

Da =
H0k1
V

(4.1)

where H0 is the liquid hold-up, k1 is a pseudo-first-order rate constant and V is

the vapour rate. The Damköhler number is the ratio of a characteristic liquid

residence time to the characteristic reaction time. For low values of Da (Da <

0.5) the reaction rate is slow compared to the residence time and the system is

dominated by phase equilibrium. For large values ofDa (Da > 10) the reaction

rate is fast and chemical equilibrium is approached on the reactive stages.

[7] However, Bock and Wozny [9] showed that the assumption of chemical

equilibrium is inappropriate for many Reactive Distillation processes. If the

Damköhler number lies between these values neither phase equilibrium nor

chemical equilibrium is controlling and a rate-based model must be used [7].

For the system used in this research Da ≈ 0.02. This is much smaller than 0.5

and the system can be assumed to be dominated by phase equilibrium.

In this chapter the simplest possible model for all three parts (mass trans-

fer, reaction kinetics and hydrodynamics) is used. For comparing the differ-

ent configurations, such models are adequate. As explained above, the mass

transfer can be described by physical equilibrium. Chemical equilibrium is not
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reached, therefore the reaction will be described by a kinetic model of the bulk

reaction. The hydrodynamics are considered to be ideal (plug flow).

4.2.1 Equilibrium stage model

In the equilibrium stage model the vapour and liquid streams leaving the stage

are assumed to be in equilibrium with each other. The model is formed by

the MESH equations. MESH is an acronym referring to the different types

of equations. The M equations are the material balance equations; the total

material balance (Eq. 4.2) and the component material balance (Eq. 4.3):

dUj

dt
= Vj+1+Lj−1+Fj − (1+rVj )Vj − (1+rLj )Lj +

r∑
m=1

c∑

i=1

νi,mRm,jεj (4.2)

dUjxi,j

dt
= Vj+1yi,j+1 + Lj−1xi,j−1 + Fjzi,j − (1 + rVj )Vjyi,j − (1 + rLj )Ljxi,j

+

r∑
m=1

νi,mRm,jεj (4.3)

in which Uj is de hold-up at stage j. Generally Uj is considered to be

the hold-up of only the liquid phase. rj are the ratios of side stream flows to

interstage flows. νi,m represents the stoichiometric coefficient of component i

in reaction m and εj represents the reaction volume.

rVj = SV
j /Vj ; rLj = SL

j /Lj ; (4.4)

The E equations are the phase equilibrium relations

yi,j = Ki,jxi,j (4.5)
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The S equations are the summation equations:

c∑

i=1

xi,j = 1;

c∑

i=1

yi,j = 1; (4.6)

The H equations are the heat balance equations

dUjHj

dt
= Vj+1H

V
j+1 + Lj−1H

L
j−1 + FjH

F
j − (1 + rVj )VjH

V
j

−(1 + rLj )LjH
L
j −Qj (4.7)

where the superscripted H’s are the enthalpies of the appropriate phase. Be-

cause the enthalpies are referred to their elemental states. the heat of reaction

is accounted for automatically. Under steady-state conditions, all the time

derivatives in the above equations are equal to zero. [8, 10]

The equilibrium stage model can be modelled in Aspen Plus using a inside-

out algorithm known as RADFRAC. Inside-out methods involve the introduc-

tion of new parameters, e.g. physical parameters, into the model equations

(Eq. 4.2 - 4.7) to be used as primary interaction variables. The complex phys-

ical properties are approximated by simple models at the outer loop, while

the inner loop solves the model equations simultaneously by Newton’s method

using analytical derivatives. [8, 11]

4.3 Modelling

4.3.1 Process conditions and requirements

In the reactive section of the Entrainer-based Reactive Distillation column, the

esterification reaction of myristic acid (A) with an alcohol (B), isopropanol or

n-propanol, takes place, forming a fatty acid ester (E) and water (W):

A + B
catalyst−−−−−⇀↽−−−−− E +W (4.8)
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4.3 Modelling

All the configurations are designed, in Aspen Plus using RADFRAC, such

that a 99.0% conversion of myristic acid and a 99.9% product purity, require-

ments which makes the process attractive for the industry, is obtained. The

input parameters of the feed streams are based on a production of 1000 kg/hr

(3697 mol/hr) ester, which is representative for an industrial process [12] and

99% conversion of the myristic acid. The ratio of myristic acid:alcohol is

fixed at 1:1 because it is an equimolar reaction. The operating pressure is 1

bar, which was also used by Dimian et al. [1] and Wang and Wong [2]. To

investigated the effect of pressure, which causes higher temperatures in the

column, the conventional Reactive Distillation (RD1) and the Entrainer-based

Reactive Distillation (ERD1) configuration are also evaluated at 5 and 10 bar.

Cyclohexane and isopropyl acetate are used as entrainer, these follow from the

entrainer selection in Chapter 2.

The kinetics of the reactions are experimentally determined and are de-

scribed in Chapter 3. The reaction rate for the esterification of myristic acid

and isopropanol using pTSA is

rE = 3.33 · 105[cat] exp
(−58.9 · 103

RT

)
[A][B]

− 2.18 · 103[cat] exp
(−45.9 · 103

RT

)
[E][W ] mol L−1s−1 (4.9)

For the esterification with n-propanol using pTSA this is

rE = 6.27 · 104[cat] exp
(−47.40 · 103

RT

)
[A][B]

− 8.44[cat] exp

(−25.38 · 103
RT

)
[E][W ] mol L−1s−1 (4.10)

rE is the reaction rate, [E] the concentration ester, [A] the concentration

alcohol, [B] the concentration acid, [W ] the concentration water and [cat] is
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the catalyst concentration. In order to establish significant conversions, the

chosen catalyst concentration is 0.15 M, which is ten times larger then found

in literature [12] for Reactive Distillation for the esterification of fatty acids.

Typical liquid hold-up values derived from Reactive Distillation structured

packing, like Katapak-S are 0.06-0.18 m3m−3 [13]. For non-reactive structured

packing like Sulzer BX this is 0.02-0.12 m3m−3 [14]. For random packing this

is 0.05-0.2 m3m−3 [15]. For tray columns, the liquid hold-up can be calculated

from equations determined by Zuiderweg [16]. In Chapter 6 the hold-up calcu-

lations will be discussed more in detail. The liquid hold-up strongly depends

on the densities and therefore on the operating pressure. Using standard tray

geometry parameters given by Sinnott [17] liquid loads of 0.05-0.40 m3m−3 are

obtained for pressures of 5-15 bar. Every internal has his own HETP (Height

Equivalent to the Theoretical Plate). In Table 4.1 this internal specific HETP

[17–19]and the corresponding liquid hold-up volumes for a columndiameter of

0.5m, which is a common diameter for the capacity used in this chapter, are

given for the different internals.

Internals HETP [m] Hold-up [L]

Reactive structured packing ∼0.5 6-18
Non-reactive structured packing ∼0.2 0.8-5

Random packing 0.4-1 4-39
Trays 0.5 5-39

Table 4.1: Typical liquid hold-ups for a columndiameter of 0.5 m and different
internals

For the simulations in this chapter a liquid hold-up of 10 L per stage is used,

this is an average value resulting from Table 4.1.

Because the reaction with isopropanol is very slow at atmospheric pressure,

a large hold-up is required to obtain 99% conversion. For comparison the

number of stages is set to 500 and the hold-up per stage is varied to obtain

the required conversions and purity. In this case the liquid hold-up of 10 L

per stage will be exceeded.
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4.3 Modelling

4.3.2 Thermodynamics

For the simulations in Aspen Plus a property model has to be selected. Param-

eters based on vapour-liquid equilibrium data do not provide good predictions

for the liquid-liquid equilibria and vice versa. [20] Therefore a combination

is used: NRTL parameters based on vapour-liquid equilibrium data are used

for the interaction between isopropanol and water and isopropanol and cy-

clohexane, and NRTL parameters based on liquid-liquid equilibrium data will

be used for the interaction between water and cyclohexane. In Chapter 2

vapour-liquid equilibrium data and liquid-liquid equilibrium data from liter-

ature for water-isopropanol-cyclohexane [21] and water-isopropanol-isopropyl

acetate [22, 23] are compared to different property models in Aspen Plus. In

the case of n-propanol, only liquid-liquid equilibrium data is available for the

water-propanol-cyclohexane system [24].

The set of NRTL parameters developed by Aspen Tech based on data

from the Dortmund Data Bank, was found to correspond the best with the

experimental vapour-liquid equilibria literature data, which is described in

Chapter 2 , and is therefore used further. The binary coefficients used in the

simulations can be found in Table 4.2.

The liquid-liquid equilibrium data do not correspond well. The decanter

should be simulated with a separate set of NRTL parameters obtained from

liquid-liquid equilibrium data. Because insufficient experimental data is avail-

able, it is decided to use the current NRTL parameters. As result, the amount

of entrainer predicted by simulation is somewhat overestimated.

For the reactive section, the same property model is used. The unknown

interaction parameters are estimated using UNIFAC, these are all parameters

concerning the myristic acid or the ester. UNIFAC predicts an azeotrope be-

tween myristic acid and isopropyl myristate. It is unlikely that this will occur,

because the components have similar polarities. Therefore it was decided to

set the interaction between those components to zero, to approximate reality.

Propyl myristate is not present in the Aspen Plus database and because it is

not a commercial product no data is available. Its boiling point was estimated
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4.3 Modelling

by estimating the difference in boiling point between isopropyl myristate and

myristate using the Joback method [25]. Because the difference in boiling

point is negligible (0.44K), isopropyl myristate is used in the simulations to

represent being propyl myristate

4.3.3 Process descriptions

Five possible process configurations based on Reactive Distillation for the syn-

thesis of fatty acid esters are compared to evaluate what can be gained using

the Entrainer-based Reactive Distillation process:

• the conventional Reactive Distillation configuration (RD1) is the most

basic Reactive Distillation concept.

• the conventional Reactive Distillation with water/alcohol separation con-

figuration (RD2) is a process already discussed by Bock et al. [26].

• the conventional Reactive Distillation combined with azeotropic Reactive

Distillation (RD3) is a logic step between RD1 and ERD1

• the Entrainer-based Reactive Distillation configuration (ERD1) is the

process of interest in this research.

• the Entrainer-based Reactive Distillation with distillative entrainer/alcohol

separation(ERD2), that enables alcohol recycling to the optimal position

along the ERD column, is a variant on the ERD1.

Conventional Reactive Distillation (RD1)

In conventional Reactive Distillation only one column is present in which the

reaction takes place. The myristic acid is fed at the top of the column and the

alcohol at the bottom. Between those feed points the reaction takes place. The

(iso)propyl myristate is collected at the bottom and the unreacted myristic

acid and alcohol will come out at the top together with the formed water.

The reflux has a high water content because no water removal takes place.

Therefore it is expected that a conversion of 99% cannot be obtained.
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ACID

ALCOHOL

TOP

BOTTOM

B1

Figure 4.2: Process scheme for conventional Reactive Distillation

Conventional Reactive Distillation with water/alcohol separation

(RD2)

In this configuration the conventional Reactive Distillation column is taken

but the top vapour is condensed and fed into a second column. In this column

pure water is drawn off and an azeotropic mixture of water and alcohol is

recycled back to the Reactive Distillation column.

ACID

ALCOHOL

TOP

BOTTOM

B1

B2

1

2

3

B3

Figure 4.3: Process scheme for conventional Reactive Distillation with wa-
ter/alcohol separation

98



4.3 Modelling

Conventional Reactive Distillation combined with Azeotropic Dis-

tillation (RD3)

In this configuration the conventional Reactive Distillation is combined with

azeotropic distillation in the second column. An entrainer is fed to obtain

pure alcohol at the bottom and a water/entrainer mixture at the top. The

entrainer is chosen such that it forms an immiscibility region with water and

the mixture can be separated by decantation. The entrainer phase can be

recycled back into the column and the alcohol stream is recycled back to the

Reactive Distillation column.

ACID

ALCOHOL

TOP

BOTTOM

B1

B3

1

2

ENTRAINE

B2

WATER

RECYCLE

Figure 4.4: Process scheme for conventional Reactive Distillation combined
with azeotropic distillation

Entrainer-based Reactive Distillation (ERD1)

The Entrainer-based Reactive Distillation column consists of a reactive section

with a distillation section placed on top, in which the entrainer is responsible

for removing the water from the reactive section. The top vapour, which con-

sists of entrainer, water and alcohol, is condensed and two phases are obtained

through decantation: an aqueous phase and an entrainer rich phase which is

refluxed back to the column.
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ACID

ALCOHOL

TOP

BOTTOM

B1

ENTRAINE

WATER

B3

RECYCLE

Figure 4.5: Process scheme for Entrainer-based Reactive Distillation

Entrainer-based Reactive Distillation with entrainer/alcohol sepa-

ration (ERD2)

In this configuration the Entrainer-based Reactive Distillation configuration is

taken and the entrainer rich stream is separated in an additional column into

a pure entrainer stream and an alcohol stream, which both are recycled back

to the Entrainer-based Reactive Distillation column.

ACID

ALCOHOL

TOP

BOTTOM

B1

ENTRAINE
WATER

RECYCLE

B3

B2

ALC

ENTR

Figure 4.6: Process scheme for Entrainer-based Reactive Distillation with en-
trainer/alcohol separation
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4.4 Results and discussion

4.4.1 Esterification with isopropanol at 1 bar

In Table 4.3 and 4.4 the obtained conversion, product purity and the required

design and operating parameters for all five configurations are summarised for

the esterification of myristic acid with isopropanol. Table 4.3 gives the results

for the configuration without entrainer (RD1 and RD2), and the results for

cyclohexane as entrainer in the configurations with entrainer (RD3, ERD1 and

ERD2). Table 4.4 gives the results for isopropyl acetate as entrainer in the

RD1 RD2 RD3 ERD1 ERD2

Conversion [%] 99.0 99.2 99.0 99.1 99.1
Product purity [%] 99.0 99.2 99.0 99.1 99.1

Reactive column
Number of reactive stages 499 499 499 499 499
Hold-up reactive stages [l] 18 17 18 17 17

Feed stage recycle - 84 2 - 32
Purification stages bottom 1 0 0 0 0

Distillation stages top 1 1 1 1 1
Condensor/decanter duty [kW] 48 49 47 47 46

Reboiler duty [kW] 145 141 144 141 141
Boilup ratio [-] 1 1 1 1 1
Reflux ratio [-] 0.1 - - - -

Distillation column
Stages distillation column - 2 2 - 3

Reboiler duty [kW] - 5 4 - 0.1
Boilup ratio [-] - 0.1 12 - 0.1

Entrainer amount [mol/hr] - - 100 100 100
Total energy [kW] 193 195 195 188 187
Water purity [%] 99.0 99.1 99.0 99.1 99.1

Table 4.3: Results for the feasibility analysis of different configurations for the
esterification with isopropanol and cyclohexane as entrainer
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RD3 ERD1 ERD2

Conversion [%] 99.0 99.1 99.1
Product purity [%] 99.0 99.1 99.1

Reactive column
Number of reactive stages 499 499 499
Hold-up reactive stages [l] 18 17 17

Feed stage recycle 1 - 46
Purification stages bottom 0 0 0

Distillation stages top 1 1 1
Condensor/decanter duty [kW] 47 47 47

Reboiler duty [kW] 145 141 141
Boilup ratio [-] 1 1 1

Distillation column
Stages distillation column 2 - 2

Reboiler duty [kW] 4 - 0.2
Boilup ratio [-] 10 - 0.2

Entrainer amount [mol/hr] 100 100 100
Total energy [kW] 196 188 187
Water purity [%] 99.0 98.8 99.0

Table 4.4: Results for the feasibility analysis of different configurations for the
esterification with isopropanol and isopropyl acetate as entrainer
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configurations with entrainer (RD3, ERD1 and ERD2). The concentration

profiles can be found in Appendix 4.A.1.

Surprisingly, the conventional Reactive Distillation configuration (RD1)

reaches the desired purity and conversion. It was expected that equilibrium

would occur, because no water is removed, thus the backward reaction takes

place as well. However, the formed water is only present in very small quan-

tities in the liquid phase at the bottom stages, where most of the reaction

takes place. The largest amount of water is present in the upper stages of

the column (see Figure 4.7). Water is the most polar component in the col-
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Figure 4.7: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration for the esterification with isopropanol at 1 bar

umn; which means that the other components dissolve better in each other

compared to water. The water is therefore pushed out of the liquid phase,

in which the reaction takes place and the reaction can reach nearly complete

conversion. Apparently, a form of reactive stripping takes place in which the

water is stripped from the liquid phase by the alcohol vapour stream, due to

the relatively high activity of water in the fatty acid-fatty acid ester mixture.

This is supported by the activity coefficient of water, which is increased to

a value of approximately five, while the activity coefficient of isopropanol is

approximately two and those of the acid and the ester are around one.

When conventional Reactive Distillation is combined with a water/alcohol
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separation (RD2) the excess of water above the azeotropic composition of

the binary alcohol-water azeotrope is drawn off in the second column. The

azeotrope is recycled back to the reactive column. In Table 4.3 it can be

seen that the reaction volume and energy consumption, needed to achieve

the desired conversion, are comparable to those in the conventional Reactive

Distillation (RD1). However, an additional column to perform the separation

is required.

The three configurations in which an entrainer is added (RD3, ERD1 and

ERD2) all yield similar results. Compared with the configurations without

entrainer (RD1 and RD2) the energy consumption is somewhat lower (see

Table 4.3 and 4.4). However, addition of the entrainer has no positive influence

on the conversion. To reach a 99% conversion, the entrainer amount should be

as low as possible. This effect is caused by a combined effect of temperature

on thermodynamics and kinetics.

The temperature in a distillation column is determined by the boiling points

of the components, their azeotropes and their concentrations, which are deter-

mined by the reaction kinetics. One of the components with the lowest boiling

point in the column is the entrainer. Therefore the amount of entrainer needed

for water removal causes a decrease of the temperature in the column. This

temperature decrease has a negative influence on the conversion because the

high activation energy of the reaction cannot be overcome. In Figure 4.8 it

can be seen that with increasing entrainer amount, the column temperature

and conversion decreases.

As expected, in all configurations the required column size to obtain the

desired conversion is not realistic. With the number of theoretical stages per

metre (NTSM) of two and 500 stages, the columns are 250 metre high. Further-

more, also the common value of common liquid hold-up is exceeded. Therefore

it is concluded that, under the used operating conditions neither of these con-

figurations is preferable. But with application of higher pressure, the column

size can be reduced. This will be investigated in Section 4.4.3.
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Figure 4.8: Influence of the entrainer amount on the column temperature and
the conversion in the Entrainer-based Reactive Distillation for isopropanol at
1 bar

4.4.2 Esterification with n-propanol at 1 bar

Because the slow reaction with isopropanol requires very large Reactive Dis-

tillation columns to obtain the required conversion, also the esterification of

myristic acid with n-propanol is investigated. Since the reaction is much faster,

the size of the reactive section is expected to be significantly smaller than for

isopropanol.

In Table 4.5 and 4.6 the obtained conversion, product purity and the re-

quired design and operating parameters for all five configurations are sum-

marised for the esterification of myristic acid with n-propanol. Table 4.5 gives

the results for the configuration without entrainer (RD1 and RD2), and the

results for cyclohexane as entrainer in the configurations with entrainer (RD3,

ERD1 and ERD2). Table 4.6 gives the results for isopropyl acetate as en-

trainer in the configurations with entrainer (RD3, ERD1 and ERD2). The

concentration profiles can be found in Appendix 4.A.2.

From the number of reactive stages in Table 4.5 and 4.6, it can be imme-

diately seen that they are, for all five configurations, significantly lower than

in the esterification with isopropanol, where 499 reactive stages were needed.

Also the liquid hold-up of 10 litre per stage can be maintained.
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RD1 RD2 RD3 ERD1 ERD2

Conversion [%] 99.0 99.0 99.0 99.0 99.0
Product purity [%] 99.0 99.1 99.0 99.0 99.0

Reactive column
Number of reactive stages 60 77 52 32 32
Hold-up reactive stages [l] 10 10 10 10 10

Feed stage recycle - 10 2 - 1
Purification stages bottom 0 0 0 1 2

Distillation stages top 0 1 1 1 1
Condensor/decanter duty [kW] 111 91 180 196 198

Reboiler duty [kW] 190 126 207 269 266
Boilup ratio [-] 1 1 1 1 1
Reflux ratio [-] 1.6 - - - -

Distillation column
Stages distillation column - 2 3 - 2

Reboiler duty [kW] - 44 48 - 15
Boilup ratio [-] - 1 0.6 - 0.1

Entrainer amount [mol/hr] - - 14500 14800 14600
Total energy [kW] 301 261 444 465 479
Water purity [%] 99.0 98.9 95.3 93.3 92.8

Table 4.5: Results for the feasibility analysis for different configurations for
the esterification with n-propanol and cyclohexane as entrainer
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RD3 ERD1 ERD2

Conversion [%] 99.0 99.0 99.0
Product purity [%] 99.0 99.0 99.0

Reactive column
Number of reactive stages 46 38 37
Hold-up reactive stages [l] 10 10 10

Feed stage recycle 2 - 2
Purification stages bottom 2 0 0

Distillation stages top 1 1 1
Condensor/decanter duty [kW] 243 180 725

Reboiler duty [kW] 231 254 251
Boilup ratio [-] 1 1 1

Distillation column
Stages distillation column 3 - 6

Reboiler duty [kW] 87 - 568
Boilup ratio [-] 0.1 - 5

Entrainer amount [mol/hr] 18900 12800 12200
Total energy [kW] 571 434 1544
Water purity [%] 98.8 98.2 97.9

Table 4.6: Results for the feasibility analysis of different configurations for the
esterification with n-propanol and isopropyl acetate as entrainer

As shown in the results of the esterification with isopropanol, in the esteri-

fication with n-propanol the desired purity and conversion can also be reached

in conventional Reactive Distillation (RD1).

When the conventional Reactive Distillation is combined with a water/al-

cohol separation (RD2), the excess of water above the azeotropic composition

of the binary alcohol-water azeotrope is drawn off in the second column. The

azeotrope is recycled back into the reactive column.

Reviewing the concentration profiles of the liquid and vapour phase, which

can be found in Figure 4.9 it can be seen that the alcohol and the water

are mainly present in the vapour phase. This is due to the relatively high
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Figure 4.9: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD2 configuration for the esterification with n-propanol at 1 bar

temperature in the column and explains why more stages are required then

in conventional Reactive Distillation (RD1). However, the additional alcohol

water separation unit does not lead to any improvement of the reactive column,

but it does lead to a significant decrease of the energy consumption.

In all configurations where an entrainer is added (RD3, ERD1 and ERD2)

the entrainer has a positive effect on the conversion, in contrast with what

was found for the esterification with isopropanol. In Figure 4.10 the influence

of the entrainer amount on the temperature and conversion is shown for the

Entrainer-based Reaction Distillation configuration (ERD1). More entrainer

leads to a higher conversion, which results in a smaller reactive section. Com-

paring Table 4.5 and 4.6 with Table 4.3 and 4.4 it can be seen that in the

esterification with n-propanol the energy consumption is much higher than

in the esterification with isopropanol. This is caused by the higher entrainer

amounts.

When the conventional Reactive Distillation was combined with azeotropic

distillation (RD3) it appeared from the simulations that a pure alcohol recycle

could only be obtained if the top stream of the reactive column has a low water

content which means a low conversion. The azeotropic distillation imposes a

constraint on the conversion in the reactive column. However, a conversion of
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Figure 4.10: Influence of the entrainer amount on the column temperature and
the conversion in the Entrainer-based Reactive Distillation for n-propanol at
1 bar

99.0% is possible in this configuration. The entrainer ends up in the bottom

stream of the second column and enters therefore the reactive column. Strictly

speaking this is no longer azeotropic distillation but also a form of Entrainer-

based Reactive Distillation.

The Entrainer-based Reactive Distillation with entrainer/alcohol separa-

tion (ERD2) shows no additional advantages over Entrainer-based Reactive

Distillation (ERD1). The number of stages is more or less the same, and the

energy consumption is higher. Also, the number of equipment units increased,

and the water purity decreased. The results show a large difference in the en-

ergy consumption between the two entrainer. In the case of isopropyl acetate

the energy consumption increases due to the separation of the alcohol and

entrainer in the second column. In the case of cyclohexane, the separation in

the second column hardly takes place. Because of the cyclohexane-n-propanol

azeotrope more pure cyclohexane cannot be obtained in this column.

In the case of cyclohexane, the required entrainer amount is for all three

configurations more or less the same. In the case of isopropyl acetate it seems

that the conventional Reactive Distillation combined with azeotropic distilla-

tion (RD3) configuration needs significant more entrainer than the other two

configurations. However, the amount of pure entrainer entering the reactive
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column from the recycle of the separation column is comparable to the required

entrainer amount for the other two configurations.

As expected, the cyclohexane is more effective in removing the water than

isopropyl acetate. This is illustrated by the ‘sharper’ column profiles, as shown

in Figure 4.11. However, in the Entrainer based Reactive Distillation configu-

rations (ERD1 and ERD2), slightly more cyclohexane than isopropyl acetate

is needed to achieve the same conversion. his caused by the size of the hetero-
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Figure 4.11: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the ERD1 configuration for the esterification
with n-propanol at 1 bar
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geneous region. The column profile inside the top distillation section has to

remain into the homogeneous region. More cyclohexane than isopropyl acetate

is needed to achieve this.

Due to the higher boiling temperature of isopropyl acetate, more energy

is required to fully separate the entrainer from the other components (water

and alcohol). Therefore the energy consumption is higher for isopropyl acetate

than for cyclohexane.

Reviewing the results of the configurations and the different entrainers,

the concepts are technically feasible. Looking at equipment requirements only,

like column size and number of column, the most appropriate option should

result in an Entrainer-based Reactive Distillation (ERD1) configuration using

cyclohexane as entrainer. This configuration has the smallest required number

of reactive stages. However, the energy requirements are higher than the

configurations without entrainer. An economic evalution should point out

which configuration is the optimal one. The results show that conventional

Reactive Distillation (RD1) can also be used to achieve the desired conversion

and purity.

4.4.3 Esterification with isopropanol and with n-propanol

at 5 and 10 bar

At an operating pressure of 1 bar, the required column size for a conver-

sion of 99% is too large to realise for the esterification of myristic acid with

isopropanol. Besides, the amount of entrainer needed for the water removal

causes a decrease of the temperature in the column, which has in the esterifica-

tion of myristic acid with isopropanol an negative influence on the conversion.

By increasing the pressure also temperatures will increase. Therefore, the

conventional Reactive Distillation (RD1) and the Entrainer-based Reactive

Distillation (ERD1) configuration are also investigated at 5 and 10 bar with

cyclohexane as entrainer. In Table 4.7 and 4.8 the obtained conversion, prod-

uct purity, the required design and operating parameters are summarised for

both esterifications at a pressure of respectively 5 and 10 bar. The concentra-
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tion profiles can be found in Appendix 4.A.3and 4.A.4.

isopropanol n-propanol
RD1 ERD1 RD1 ERD1

Conversion [%] 99.0 99.0 99.1 99.0
Product purity [%] 99.1 98.3 99.1 99.0

Reactive column
Number of reactive stages 94 94 16 16
Hold-up reactive stages [l] 10 10 10 10
Purification stages bottom 1 1 1 1

Distillation stages top 1 1 1 1
Condensor/decanter duty [kW] 45 46 45 78

Reboiler duty [kW] 223 225 191 241
Boilup ratio [-] 1 1 1 1
Reflux ratio [-] 0.1 - 0.1 -

Entrainer amount [mol/hr] - 800 - 4800
Total energy [kW] 268 271 196 319
Water purity [%] 99.0 99.0 99.0 99.4

Table 4.7: Results for the feasibility analysis for different configurations for
the esterification with isopropanol and with n-propanol and cyclohexane as
entrainer at 5 bar

As shown in the results of the esterifications at 1 bar, the desired pu-

rity and conversion also can be reached in conventional Reactive Distillation

(RD1). The required column size for the esterification with isopropanol now

also becomes realistic. Due to the higher pressure, the column temperature is

higher and the reaction rate faster.

In the esterification with isopropanol, the addition of the entrainer has

now, in contrast with the simulation at one bar, a positive influence on the

conversion: fewer reactive stages are needed compared to conventional Reac-

tive Distillation (RD1) at 10 bar. At 5 bar, the the effect is too small to result

in a decrease of the reaction volume. Due to the higher pressure, the column

temperature is higher and the combined effect of reaction kinetics and thermo-

dynamics, as seen in the simulations at one bar, does not take place. This can
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isopropanol n-propanol
RD1 ERD1 RD1 ERD1

Conversion [%] 99.1 99.0 99.1 99.1
Product purity [%] 99.1 98.0 99.1 99.1

Reactive column
Number of reactive stages 36 32 10 10
Hold-up reactive stages [l] 10 10 10 10
Purification stages bottom 1 1 1 1

Distillation stages top 1 1 1 1
Condensor/decanter duty [kW] 43 62 43 50

Reboiler duty [kW] 241 260 216 213
Boilup ratio [-] 1 1 1 1
Reflux ratio [-] 0.1 - 0.1 -

Entrainer amount [mol/hr] - 3100 - 100
Total energy [kW] 284 322 259 263
Water purity [%] 99.0 99.4 99.0 99.2

Table 4.8: Results for the feasibility analysis for different configurations for
the esterification with isopropanol and with n-propanol and cyclohexane as
entrainer at 10 bar

be seen in Figure 4.12. It is noticed that with increasing amount of entrainer

the conversion increases till a maximum is reached at 1600 mol hr−1 entrainer

at 5 bar. In the esterification with n-propanol, the required entrainer amount

is much lower compared to the required amount at 1 bar, which results in a

much lower energy consumption.

Looking at equipment requirements alone, the most appropriate option

should result in an Entrainer-based Reactive Distillation (ERD1) configura-

tion. However, the results show that conventional Reactive Distillation (RD1)

can also be used to achieve the desired conversion and purity. Because the

decrease of the reaction volume due to the addition of the entrainer is rather

small and the energy consumption increases when using an entrainer, conven-

tional Reactive Distillation (RD1) remains a interesting alternative, especially

because the risk of contamination of the product by adding an extra compo-
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Figure 4.12: Influence of the entrainer amount on a) the column tempera-
ture and b) the conversion in the Entrainer-based Reactive Distillation for the
esterification with isopropanol at 5 bar

nent is eliminated.

To research the influence of the required conversion on the decrease of reac-

tion volume by Entrainer-based Reactive Distillation, the conventional Reac-

tive Distillation (RD1) and the Entrainer-based Reactive Distillation (ERD1)

configuration are also investigated at 5 bar with for a required conversion of

90% and 99.9%. In Table 4.9 the corresponding decrease in reaction volume

is given.

Decrease in reaction volume
Conversion Isopropanol n-propanol

90.0% 0% 1 0%1

99.0% 0% 0%
99.9% 1.9% 14.3%

Table 4.9: Influence of the required conversion on the decrease in reaction
volume in the Entrainer-based Reactive Distillation compared to conventional
Reactive Distillation for the esterification with isopropanol and n-propanol at
5 bar

1Entrainer does not have a positive influence on the conversion
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For a conversion of 90.0% the entrainer does not have a positive influence

on the conversion. At a conversion of 99%, which was already mentioned previ-

ously, the entrainer does have a positive influence on the conversion. However

this effect is too small to result in a decrease of the reaction volume. At a

conversion of 99.9% it results in a limited decrease of the reaction volume. At

lower conversions less water will be produced and the amount of unreacted

isopropanol is larger. Thus, the ratio of water to isopropanol becomes smaller

which makes it more difficult to remove the water.

4.5 Conclusions

Five process configurations from conventional Reactive Distillation to Entrainer-

based Reactive Distillation for the synthesis of fatty acid esters were compared

by simulations with process models made in Aspen Plus for the esterification

of myristic acid.

In the esterification with isopropanol at 1 bar, the addition of the entrainer

has, against expectations, no positive influence on the conversion. To reach

99% conversion, the entrainer amount must be as low as possible. This effect

is caused by a combined effect of thermodynamics and kinetics. The amount

of entrainer needed for water removal causes a decrease of the temperature

in the column. This temperature decrease has a negative influence on the

conversion, because the high activation energy of the reaction cannot be over-

come. However, in the esterification with isopropanol at 5 and 10 bar and in

the esterification with n-propanol (either 1, 5 or 10 bar), the addition of the

entrainer has a positive influence on the conversion. More entrainer leads to

a higher conversion.

Conventional Reactive Distillation configuration (RD1) also reaches the

desired purity and conversion. Because of its polarity, water is pressed out of

the liquid phase, wherein the reaction takes place, so the reaction can reach

nearly complete conversion.

Looking at equipment requirements alone, the most appropriate option

should result in an Entrainer-based Reactive Distillation (ERD1) configura-
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tion, on the condition that suitable operating conditions are applied. However,

the decrease of the reaction volume due to the addition of the entrainer is rather

small and the energy requirements are comparable. Therefore, conventional

Reactive Distillation (RD1) remains an interesting alternative, especially be-

cause the risk of contamination of the product by adding an extra component

is eliminated.

Nomenclature

[A] Fatty acid concentration [mol L−1]

[B] Alcohol concentration [mol L−1]

[cat] Catalyst concentration [M]

[E] Ester concentration [mol L−1]

[W ] Water concentration [mol L−1]

Da Damköhler number [-]

ε Reaction volume [m3]

F Feed stream [mol s−1]

H0 Liquid hold-up [mol]

H Molar enthalpy [J mol−1]

K Vapour-liquid equilibrium constant [-]

k1 Pseudo-first-order rate constant [s−1]

L Liquid flowrate [mol s−1]

ν Stoichiometric coefficient [-]

Q Heat duty [J s−1]

R Gas constant [J mol−1 K−1]

Rm,j Reaction rate [mol−3s−1]

rE Reaction rate [mol L−1 s−1]

rj Ratio of side stream flow to interstage flow on stage j [-]

S Side draw-off [mol s−1]
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T Temperature [K]

t Time [s]

U Molar hold-up [mol]

V Vapour rate [mol s−1]

x Mole fraction in the liquid phase [-]

y Mole fraction in the vapour phase [-]

z Mole fraction in either vapour or liquid phase [-]

Subscripts

i Component index

j Stage index

m Reaction index

Superscripts

F Referring to feed stream

L Referring to liquid phase

V Referring to vapour phase
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Appendix 4.A Concentration profiles

4.A.1 Esterification with isopropanol at 1 bar
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Figure 4.13: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration
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Figure 4.14: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD2 configuration
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Figure 4.15: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the RD3 configuration
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Figure 4.16: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the ERD1 configuration
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Figure 4.17: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the ERD2 configuration
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4.A.2 Esterification with n-propanol at 1 bar
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Figure 4.18: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration
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Figure 4.19: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD2 configuration
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Figure 4.20: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the RD3 configuration
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Figure 4.21: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the ERD1 configuration
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Figure 4.22: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer and (c) liquid phase and (d) vapour phase with
isopropyl acetate as entrainer, for the ERD2 configuration
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4.A.3 Esterification with isopropanol and with n-propanol

at 5 bar
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Figure 4.23: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration
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Figure 4.24: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer for the ERD1 configuration
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Figure 4.25: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration
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Figure 4.26: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer for the ERD1 configuration

129



Chapter 4 Feasibility analysis

4.A.4 Esterification with isopropanol and with n-propanol

at 10 bar
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Figure 4.27: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration
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Figure 4.28: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer for the ERD1 configuration
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Figure 4.29: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the RD1 configuration
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Figure 4.30: Concentration profiles of (a) liquid phase and (b) vapour phase
with cyclohexane as entrainer for the ERD1 configuration
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Chapter 5

Pilot column

In this chapter the Aspen Plus process for the Reactive Distillation was vali-

dated through pilot plant experiments. A detailed model of the pilot plant is

created for different operating conditions. Experiments with a pilot column are

performed to verify the model. The conducted experiments correspond well with

the predicted values, therefore the model describes the column well and can be

used to construct a conceptual design. However, not all the intended validation

experiments could be performed, because of the practical difficulties that arise

when negligible liquid level in the column has to be ensured. Also break down

of the pumps due to clogging is a limiting factor in the experiments.

5.1 Introduction

In the previous chapter an Aspen Plus model for the Reactive Distillation of

myristic acid with isopropanol was proposed. In order to expand this model

to a conceptual design, experimental validation is required. However, experi-

mental data on the esterification of fatty acids by Reactive Distillation at pilot

plant scale is scarce. A few processes with various fatty esters and alcohols

are described.

Jeromin et al. [1] describe the esterification of different fatty acids with
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methanol in a tray column. Zhou [2] report the experimental validation of

a model for the esterification of oleic acid with methanol. Zaidan et al. [3]

investigated the Reactive Distillation with a pre-reactor for the esterification

of oleic acid with methanol, ethanol, n-propanol and isopropanol. Steinigeweg

and Gmehling [4] investigated the esterification of decanoic acid with methanol

using a heterogenous catalyst in a packed column. Bhatia et al. [5] report the

experimental validation of a rate-based model for the production of isopropyl

palmitate in a packed Reactive Distillation column using a heterogeneous cat-

alyst. Schleper et al. [6] mention the esterification of an unknown fatty acid

with isopropanol in a tray column. Some of these studies involve the esteri-

fication with isopropanol but none of them in the combination with myristic

acid.

Investigations about the esterification of myristic acid with isopropanol

with a homogeneous catalyst in a tray column have been performed by Bock

et al. [7]. A process including a recovery column for isopropanol was presented.

However, the reported experimental data is limited. The results of only one

experiment are reported without including the operating conditions.

No information on the used system, a packed Reactive Distillation column

for the esterification of myristic acid with isopropanol is available. Little in-

formation on the Reactive Distillation for the esterification of myristic acid

with isopropanol in a tray column is available. However, this is not enough to

validate the model used in the present work. Therefore, this chapter contains

a pilot plant study on the esterification of myristic acid with isopropanol in a

packed column, in order to validate the proposed Aspen Plus model.

In Chapter 4 the hydrodynamics were described as an ideal plug flow, while

in this chapter the liquid hold-up and pressure drop correlations are included

for a more accurate model. Therefore first the theory about modelling the

hydrodynamics of a packed Reactive Distillation column are discussed. Based

on the model from Chapter 4 and the hydrodynamics relations a model for

the pilot plant is formulated. In order to validate this model experiments are

performed. Finally the experimental results are compared with the simulation

results obtained by the model.
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5.2 Modelling Reactive Distillation

5.2 Modelling Reactive Distillation

A Reactive Distillation process model consists of sub-models for mass transfer,

reaction kinetics and hydrodynamics. The completion of these sub-models can

vary from simple to complex, as described in Chapter 4. [8]

It was described that the Damköhler number can be used to see if a Reactive

Distillation process is controlled by chemical equilibrium, phase equilibrium or

something in between those two extremes.

For the system used in this research Da ≈ 0.02−0.18. This is much smaller

than 0.5, which means that the system can be assumed to be dominated by

phase equilibrium, just like in the feasibility analysis in Chapter 4.

In this chapter the simplest possible model for all three parts (mass transfer,

reaction kinetics and hydrodynamics) is used. As explained above, the mass

transfer can be described by physical equilibrium. This equilibrium stage

model is described in Chapter 4, section 4.2.1. Chemical equilibrium is not

reached, therefore the reaction will be described by a kinetic model of the bulk

reaction. The hydrodynamics are described by liquid hold-up and pressure

drop correlations, while in Chapter 4 the system was described as an ideal

plug flow.

5.2.1 Hydrodynamics

The pressure drop of a gas flowing upwards through a packing countercurrent

to a liquid flow is shown in Figure 5.1. At low liquid rates, the effective cross

section of the packing is similar to that of the dry packing. The pressure drop

is due to flow through a series of openings in the bed. The pressure drop is

proportional approximately to the square of the gas velocity, as indicated in

region AB. At higher liquid rates liquid is present in and de the effective open

cross section is smaller. The energy of the upflowing gas stream is partially

used to support an increasing quantity of liquid in the column (region A’B’).

When the pressure drop is proportional to a gas-flow-rate power distinctly

higher then two, the loading zone is reached, as indicated in Figure 5.1. There

are two possibilities when the liquid holdup increases: 1) The effective orifice
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Figure 5.1: Pressure-drop characteristics of packed columns [9]

diameter becomes so small that the liquid surface becomes continuous across

the cross section of the column. A slight change in gas rate results in a large

change in pressure drop, and flooding occurs. 2) Phase inversion occurs, and

gas starts bubbling through the liquid. The increase in the pressure drop will

also be significant analogous to the first case. However stable operation is still

possible. [9]

Pressure drop

In the RADFRAC model in Aspen Plus, the pressure drop is accounted for

by the model of Bravo et. al. [9–12]. This is a widely applied model for

structured packings and can be used for both sheet metal and gauze packing.

The correlation is as follows:

∆P =

[
0.171 +

(
92.7

Reg

)][
ρgu

2
ge

deqgc

][
1

(1− C0Fr0.5)

]5

(5.1)
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5.2 Modelling Reactive Distillation

with uge is the effective gas velocity inside the flow channel, C0 a packing

specific constant (Sulzer Bx: 3.38), deq the packing equivalent diameter and

ρg the gas density. The gas Reynolds number Reg is defined as:

Reg =
dequgeρg

µg
(5.2)

in where µg is viscosity of the gas. The effective gas velocity inside the flow

channel uge is defined as:

uge =
ug

ε sin θ
(5.3)

with ug being the superficial gas velocity and ε the void fraction of packing.

The Froude number Fr is defined as:

Fr =
u2
l

deqg
(5.4)

in where ul is the superficial liquid velocity, θ the angle of inclination with

flow and g the gravitational constant.

This model is valid in the region below the loading point, and it cannot

predict the flood point because it does not include the effects of gas velocity

on liquid hold-up. [9, 12]

Operating region

In packed columns the vapour load can be reduced to extremely low values, but

the liquid load must be within a certain range. Below a certain liquid load the

surface of the packed column is no longer completely wetted and gas and liquid

are no longer in intimate contact. This results in a serious drop of separation

efficiency. The minimum liquid flow is considered as the wetting border of

the feasible operating region of a packed column. In practice, minimum liquid

loads for a random packing are in the order of 10 m3m−2hr−1. For structured
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packing this number can be as low as 0.05 m3m−2hr−1. [13, 14]

The flooding point represents the column load at which liquid can no longer

flow countercurrent to the rising vapour. Liquid flow is obstructed by the high

vapour load to such an extent that it accumulates in the bed. As already

stated, the flooding point is characterised by a steep increase in the pressure

drop. In general the operating region of a packed column is therefore enclosed

between a wetting and a flooding border. This is depicted in Figure 5.2.

Figure 5.2: Operating region of a packed column [13, 14]

Liquid hold-up

For the liquid hold-up of a packing two scenarios can be distinguished. Below

the load point, the liquid hold-up is solely dependant on the liquid rate. Above

the load point it is also a function of vapour rate. The liquid in the packing

is held back by friction forces imposed on it by the gas as well as the static

pressure gradient produced by the pressure drop. The influence of the gas rate

on hold-up in the loading region is complex. However the following relation

can be derived between the pressure drop and the hold-up [15]:

h = h0

[
1 + 20

(
∆P

Zρgg

)2]
(5.5)
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where Z is the total height of packing. The variable h0 is the liquid hold-up

below the loading point:

h0 = 0.555Fr
1/3
L (5.6)

with the Froude number, Fr, defined as:

Fr =
u2
La

gε4.65
(5.7)

where a is the specific surface of the packing.

The pressure drop in this equation is accounted for by the Stichlmair model

[15], because it takes hold-up into account:

∆P

∆Pdry
=

[
1− ε(1− h

ε )

1− ε

](2+c)/3(
1− h

ε

)−4.65

(5.8)

with ∆Pdry being the dry pressure drop:

∆Pdry

Z
= 0.75f0

(1− ε

ε4.65

)(ρgu2
g

dp

)
(5.9)

where the friction factor for flow past a single particle, f0 is defined as:

f0 =
C1

Reg
+

C2

Re0.5g

+ C3 (5.10)

and the exponent c in Eq. 5.8 as:

c =

−C1

Rg
− C2

2Re0.5g

f0
(5.11)

with C1, C2 and C3 constants, specific for the packing. For the Sulzer BX

packing these constants are respectively, 15, 2 and 0.35.

In here the gas Reynolds number Reg is not defined as in Eq. 5.2 but as:
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Reg =
dpugρg
µg

(5.12)

The particle diameter dp in Eq. 5.9 is defined as:

dp ≡ 6(1− ε)

a
(5.13)

with a void fraction (ε) of 0.86 and a specific surface area (a) of 450 for the

Sulzer BX packing.

5.3 Modelling

Simulations of the pilot column are conducted using the commercial software

package Aspen plus. First the column capacity has to be determined to de-

termine the boundaries of the operating window. Subsequently, a base case

is simulated as a reference for further simulations. Based on this case, the

operating conditions of the experiments are chosen and a simulation for each

experiment is made.

5.3.1 Column specifications

The column specifications are listed in Table 5.1. The packing used in the col-

umn is the Sulzer BX packing, see Figure 5.3. This is the most suitable packing

from Sulzer which is available in sizes suitable for lab scale experiments. It

has a high surface area and it can be used with a homogeneous catalyst, for

a heterogenous catalyst Sulzer Katapak packing should be used. The data

Diameter 0.05 m
Packing height 1.19 m

Number of stages 7
Condensor -
Reboiler -

Table 5.1: Specifications pilot column
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for this packing is already included in the software. The number of stages is

estimated from HETP data used by others for Sulzer BX in literature. [16, 17]

A HETP value of ∼ 0.15-0.2 m−1 is reported; this indicates approximately 6-8

stages. In this research the average of 7 stages is used.

(a) (b)

Figure 5.3: Sulzer BX packing a) frontal view b) view from above

5.3.2 Column capacity

For the pilot plant experiments and simulations it is important to determine

the operating region of the pilot column. As discussed before, the operation

of a packed column is limited by a minimum liquid flow because the column is

not sufficiently wetted otherwise. Also at a certain vapour load flooding of the

column will occur. Stable operation is only possible between these boundaries.

In order to determine the operating region of the column both the minimum

liquid load and the maximum vapour load have to be determined.
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Minimum liquid load

According to Sulzer [17], the minimum liquid load for the Sulzer BX packing

is approximately 0.05 m3 m2hr−1. From this, the minimum liquid flow can be

determined using the formula below:

Fl,min =
ul,minAρl

Ml
= 0.34mol hr−1 (5.14)

where Fl,min is the minimum liquid flow rate, ul,min the minimum liquid

load, ρl the liquid density, Ml the liquid molar mass and A the column cross

sectional area.

The minimum liquid load is determined to be 0.34 mol hr−1 of myristic

acid, corresponding to 0.08 kg hr−1. Packed columns can be operated at

very low vapour flows. Because of the equimolar reaction stoichiometry, the

minimum vapour flow should contain at least the same amount of moles as

the liquid flow. Therefore the minimum vapour flow can be determined to be

about 0.02 kg hr−1.

Maximum column load

The maximum column load of the pilot plant column has been estimated using

the commercial program SULPAK 3.1 from Sulzer Chemtech. The column is

simulated using RADFRAC model to generate estimates for the vapour and

liquid densities, which serve as input parameters for SULPAK. By fixing the

liquid feed and varying the vapour load, the maximum vapour flow for a given

liquid feed can be determined. In Figure 5.4 a capacity plot generated with

Sulpak is shown. The black line indicates the point at which flooding occurs

for a given flow parameter, the grey line is at 80% from this point.

The flow parameter is determined with the following equation. Flows are

defined on mass basis in this case:

FLG =
L

G

√
ρg
ρl

(5.15)
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Figure 5.4: Capacity plot of Sulzer BX packing. The myristic acid flowrate is
50 kg hr−1, while the isopropanol flowrate is chosen to get 80% capacity

The capacity factor is defined as:

cG = ug

( ρg
ρl − ρg

)1/2

(5.16)

By fixing the liquid flow and varying the vapour flow in Aspen for several

vapour flows the operating region of the column can be determined. In Figure

5.5 the results from these simulations are shown. The acquired curve agrees

with the literature. In addition, the curve for equimolar vapour and liquid feed

flow is plotted. Operation below the dashed line will result in a low conversion,

because the amount of isopropanol in the system is too low for full conversion.

The dotted line marks the point at which the liquid flow is minimal.

The operating region for the pilot plant is defined by a triangle between

the flooding line, the minimum liquid load and the ratio of the feed flow. The

feed of myristic acid should be between 0.08 kg hr−1 and 55 kg hr−1 (0.05

m3 m−2hr−1 - 32.5 m3 m−2 hr−1). The corresponding maximum isopropanol

feed flows are 46 and 15 kg hr−1. Although the flows through the column can

be quite large, it is important to keep the final conversion in mind. During

the determination of the operating window it was observed that conversion is

higher at lower flow rates. This is probably due to a higher residence time
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Figure 5.5: Plot of the liquid feed flow versus the vapour feed flow. The solid
line shows the vapour flow at 80% from the flooding point. The dashed line
is when the vapour and liquid flow are the same amount of moles, the dotted
line indicates the minimum liquid flow

despite the fact the liquid holdup is lower. Therefore relatively low flow rates

are chosen for the simulation base case.

5.3.3 Process conditions and requirements

The kinetics of the reactions are experimentally determined and are described

in Chapter 3. The reaction rate for the esterification of myristic acid and

isopropanol using pTSA is

rE = 3.33 · 105[cat] exp
(−58.9 · 103

RT

)
[A][B]

− 2.18 · 103[cat] exp
(−45.9 · 103

RT

)
[E][W ] mol L−1s−1 (5.17)

rE is the reaction rate, [E] the concentration ester, [A] the concentration

alcohol, [B] the concentration acid, [W ] the concentration water and [cat] is

the catalyst concentration.
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In order to establish significant conversions, the chosen catalyst concen-

tration of the base case is 0.05 M. The operating pressure is 3 bar and the

column temperature is 180◦C. A feed of 1.01 kg hr−1 myristic acid and 1.32

kg −1 isopropanol is used, corresponding to a feed ratio of 1:5 mole myristic

acid over isopropanol. This large excess of isopropanol is needed to maintain

the pressure in the column. In further simulations one parameter from the

base case will be varied to study the influence of that parameter. The other

conditions will be kept at a constant value.

In Table 5.2 the physical properties of the vapour and liquid stream in the

pilot column can be found.

Vapour stream Liquid stream

Density [kg m−3] 4.8 760
Surface tension [N m−1] - 1.7 · 10−2

Viscosity [Pa.s] 1.2 · 10−5 5.7 · 10−4

Table 5.2: Physical properties of the vapour and liquid streams in the pilot
column

5.3.4 Thermodynamics

For the simulations in Aspen Plus a property model has to be selected. In

Chapter 2 vapour-liquid equilibrium data from literature for different water-

isopropanol systems [18–20] are compared to different NRTL property models

in Aspen Plus.

The set of NRTL parameters developed by Aspen Tech based on data

from the Dortmund Data Bank, was found to correspond the best with the

experimental literature data and is therefore used further.

The unknown interaction parameters are estimated using UNIFAC, these

are all parameters concerning the myristic acid or the ester. UNIFAC predicts

an azeotrope between myristic acid and isopropyl myristate. It is unlikely that

this will occur, because the components have similar polarities. Therefore it is

better to set the interaction between those components to zero, to approximate
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reality.

5.4 Experimental

5.4.1 Apparatus

In Figure 5.6 the pilot plant set-up is drawn schematically. In Figure 5.7

pictures of the column and storage vessels can be seen. The pilot plant set-up

consists of a thermostated steel column of 1.7 metres. The column is filled with

Sulzer BX packing, the total packing height is 1.19 metres. Pumps (Bronkhorst
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Figure 5.6: Schematic presentation of the pilot plant set-up
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MZR-7255)are used to transport the reactants tot the column. Coriolis mass

flow controllers (Bronkhorst M53-RAD-22-0-B) are use to measure and control

the flow.The myristic acid is fed, together with the catalyst, at the top of the

column after being heated inside the wall. The isopropanol is evaporated by

an evaporator (A-steam) and fed at the bottom of the column. The bottom

product (myristic acid and isopropyl myristic) goes via a mass flow controller,

which is connected to a differential pressure transmitter(GE Sensing LX8381,

span: 10 mbar differential pressure), to its storage vessel. The top vapour

(isopropanol and water) flows via a mass flow controller, which is controlled

by a pressure measurement, through a condenser to its storage vessel. The

maximum operating pressure is 5 bar. Along the column the temperature is

measured at 7 points and samples can be taken at the bottom of the column.

The process is monitored and controlled by the custom made graphical user

interface in LabVIEW.

(a) (b)

Figure 5.7: Pilot plant set-up a) column and b) storage vessels
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5.4.2 Materials and catalysts

Isopropanol (≥99.5%) from Merck and myristic acid (≥95%) from Sigma-

Aldrich were used as the reactants. The p-toluene sulphonic acid (pTSA)

catalyst was obtained as p-toluene sulphonic acid monohydrate (98.5%) from

Aldrich. Dodecane (≥98%) and methyl ethyl ketone (≥99%), for the analysis,

were obtained from Fluka.

5.4.3 Analysis

All samples of the kinetic experiments were analysed by gas chromatography.

The column is a Varian WCOT Fused Silica 50m x 0.32 mm column coated

with CP-Sil 5CB. H2 is used as carrier gas at a constant speed of 2 mL min−1.

The temperature program, 75◦C for 5 min, than 40◦C min−1 to 225◦C and

maintain at 225◦C for another 11.25. Dodecane is used as an internal standard

and methyl ethyl ketone as solvent.

5.4.4 Procedure

The storage vessel containing the myristic acid and the vessel for the bottom

product are heated to 100◦C to melt the myristic acid and to ensure that the

content of the vessels remain liquid. This high temperature is needed because

the catalyst increases the melting point of the myristic acid. The piping from

these vessels to the column and vice versa are traced at 130◦C to prevent so-

lidification. The column wall is also heated. Because the catalyst and myristic

acid react to an unidentified black insoluble substance, the catalyst is added

as a liquid to the myristic acid vessel just before the start of the experiment.

First the isopropanol is introduced into the column. The set-up has to be op-

erated for 15-30 minutes to make sure all the isopropanol passing through the

evaporator will we evaporated. At high flowrates the flow should be increased

stepwise to prevent an unstable regulation of the evaporator. Secondly, the

operating pressure has to be set. When the top vapour flow has become stable,

the myristic acid flow can be set. Every half an hour, samples will be taken
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at the bottom the column.

5.5 Results and discussion

In Table 5.3 the operating parameters of the performed experiments and the

conversion predicted by the model are shown. Experiment 1 is used as the

reference case. In experiment 2 both the feed flows are increased. This results

in a shorter residence time and therefore in a lower conversion. From exper-

iments 3 and 4, it can be seen that an increase in temperature or pressure

give higher conversions. The influence of the pressure is larger than that of

temperature. The smaller increase as a result of temperature is also confirmed

by comparing experiments 4 and 5. As seen in experiment 6, doubling the

catalyst concentration will double the conversion.

Exp. [cat] MA:IPA IPA flow MA flow P T Conversion
[-] [M ] [-] [kg/hr] [kg/hr] [bar] [C] [%]

1 0.05 1:5 1.32 1.012 3 180 7
2 0.05 1:5 3.00 2.288 3 180 5
3 0.05 1:5 1.32 1.012 3 220 9
4 0.05 1:5 1.32 1.012 5 180 11
5 0.05 1:5 1.32 1.012 5 220 14
6 0.10 1:5 1.32 1.012 5 180 22

Table 5.3: Operating parameters and model prediction for the conversion of
the pilot column experiments

In order to validate the model, the absence of a liquid level in the bottom of

the column has to be ensured. If there is a liquid level present, the column con-

tains extra reaction volume which is not accounted for in the model. Besides

that, evaporation takes place which, influences the vapour-liquid equilibrium

and concentrations. The liquid level of the column is indicated by the pressure

difference over the bottom section of the column, measured via a differential

pressure transmitter. This pressure difference is automatically regulated in

the LabVIEW software by opening a valve to reach a certain set-point. Due
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to a bug in the control mechanism the actual pressure difference has a vari-

able deviation from the set-point, dependant of the moment the set-point is

given. Therefore the actual point with a pressure difference of zere has to be

found during the experiment. This can be done by, choosing a set-point of

the pressure difference at which a liquid level is present and then lowering this

set-point stepwise. If the set-point is very low, the valve is opened completed

although there is not enough liquid in the column to flow out. This causes

a pressure loss. For the experiment at 3 bar and 180◦C the results for this

method can be found in Figure 5.8.
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Figure 5.8: Influence of the pressure difference set-point on the conversion in
the pilot column experiments at 3 bar and 180◦C

In this figure it can be seen that with decreasing value of the set-point the

conversion decreases as well; the final values correspond well with the value

predicted by the model. Samples number three show the same conversions

as samples number two, this means that steady state was reached already at

samples number two (one hour).

With a liquid level present, in the column the conversions are unexpectedly

high compared to the predicted model values. Such conversions cannot be

reached with the available reaction volume. To obtain these high conversions

an extra 2.5 L reaction volume should have been available on top of the liquid

volume of approximately 0.02 L in the column. The total column volume is
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2.3 L, so the higher conversion cannot be caused by a difference in predicted

and actual liquid hold-up. The most likely explanation is the presence of dead

volume in the bottom section of the column. Due to the geometry of this

section there are areas in which the liquid does not flow but stand still, and

the arising very high residence times result in a higher conversion. Due to time

restrictions, it was not possible to modify the set-up to overcome this problem.
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Figure 5.9: Pilot column experiments at a) 3 bar and 180◦C, b) 5 bar and
180◦C and c) 3 bar and 220◦C

In Figure 5.9 the results of the conducted experiments are given together

with the model prediction. In Figure 5.9a the experiments at 3 bar and 180◦C

are shown (Experiment 1 from Table 5.3). Figure 5.9b contains the results of
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the experiment at 5 bar and 180◦C (Experiment 4 from Table 5.3). Figure

5.9c shows the results of the experiment at 3 bar and 220◦C (Experiment 3

from Table 5.3). The experimental values correspond well with the predicted

values. Although the number of experiments which can be compared is limited,

it can be concluded that the model describes the column adequately and can

therefore be used to construct a conceptual design.

Due to the practical difficulties to ensure negligible liquid level in the col-

umn and have no pressure loss and because the pumps broke down by clogging

with the insoluble black substance, not all the experiments could be performed.

In hind side it would have probably been better to operate the column with a

liquid level in the bottom and add a bottom section in the simulation model.

Experiments 2, 5 and 6 from Table 5.3 were not performed, this are the ex-

periments with higher feed flow, 5 bar and 220◦C and the higher catalyst

concentration. The performed experiments are the reference case (3 bar and

180◦C), the experiment at 3 bar and 220◦C and the one at 5 bar and 180◦C

(experiments 1, 3 and 4).

In hind side it would have probably been better to operate the column with

a liquid level in the bottom and add a bottom section in the simulation model.

5.6 Conclusion

In this chapter the process model used in Aspen Plus was validated through

pilot plant experiments. A detailed model of the pilot plant was created for

different operating conditions. Experiments with a pilot column were per-

formed to verify the model. The conducted experiments correspond well with

the predicted values, therefore the model describes the column adequately to

be used for the constructing of a conceptual design.
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Nomenclature

Nomenclature

[A] Fatty acid concentration [mol L−1]

[B] Alcohol concentration [mol L−1]

[E] Ester concentration [mol L−1]

[W ] Water concentration [mol L−1]

[cat] Catalyst concentration [M]

A Column cross sectional area [m2]

a Specific surface area of packing [m2 m−3]

C0 Packing specific constant [-]

C1 Packing specific constant [-]

C2 Packing specific constant [-]

C3 Packing specific constant [-]

cG Capacity factor [m s−1]

c Exponent [-]

∆Pdry Pressure drop through an unirrigated bed [N m−2]

∆P Pressure drop per unit height of packing [Pa m−1]

deq Packing equivalent diameter [m]

dp Particle diameter [m]

ε Void fraction [-]

FLG Flow parameter [-]

f0 Friction factor for flow past a single particle [-]

Fl,min Minimum liquid flow rate [mol hr−1]

Fr Froude number [-]

G Gas flow [kg s−1]

gc Gravity conversion factor (unity in SI system) [-]

g Gravitational constant [m s−2]

h0 Liquid hold-up below the loading point(unity in SI system)

[m3 m−3]
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h Liquid hold-up in a packed bed [m3 m−3]

L Liquid flow [kg s−1]

Ml Liquid molar mass [-]

µg Gas viscosity [kg m−1 s−1]

R Gas constant [J mol−1 K−1]

Reg Gas Reynolds number [-]

rE Reaction rate [mol L−1 s−1]

ρg Gas density [kg m−3]

ρl Liquid density [kg m−3]

T Temperature [K]

θ Angle of flow channel based on horizontal [deg]

uge Effective gas velocity inside the flow channel [m s−1]

ug Superficial gas velocity [m s−1]

ul Superficial liquid velocity [m s−1]

Z Total height of packing [m]
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Chapter 6

Continuous processes

versus Batch Process

In this chapter the process model from Chapter 5 is used to construct a concep-

tual design for the esterification of myristic acid with isopropanol through Re-

active Distillation (packed and tray column). A parameter optimisation study

is performed to investigate the influence of the different process parameters. Fi-

nally all results are integrated in conceptual designs for the industrial scale Re-

active Distillation process, which are evaluated against the batch process based

on required reaction volumes. Also a Bubble Column is investigated, since a

much larger liquid hold-up can be obtained. The required reactor volume can

be decreased with 27 or 79%, allowing a maximum temperature of respectively

170 and 220◦C, using a packed Reactive Distillation column. Using a tray Re-

active Distillation column and a maximum temperature of 220◦C, the required

reactor volume can be decreased with 93%. Due to the less favourable mass

transfer characteristics of the Bubble Column, in here the required reactor vol-

ume can only be decreased with 78%. When a temperature of 220◦C is allowed

in the column, the tray Reactive Distillation is the preferable process for the

esterification of myristic acid isopropanol, based on the required reaction vol-
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umes. The influence of the maximum column temperature and the influence of

a larger liquid hold-up per stage as a result of a different column configuration

are of equal importance for the required reaction volume.

6.1 Introduction

In this chapter the developed process model, which was proposed and validated

in Chapter 5 is used to construct a conceptual design for the esterification of

myristic acid with isopropanol through Reactive Distillation. Because packed

columns have a small liquid hold-up also a Reactive Distillation tray column

and a packed reactive Bubble Column (Bubble Column containing structured

packing) are investigated. Those could be even more interesting alternatives.

The tray Reactive Distillation column and the Bubble Column are introduced

in this chapter for the first time in this thesis. Therefore first the theory of

modelling those two processes, focussing on the differences compared to the

packed Reactive Distillation column, are discussed.

For the packed Reactive Distillation column a full parameter optimisation

is performed to investigate the influence of the different process parameters.

For the tray Reactive Distillation column and the Bubble Column a simplified

parameter optimisation is performed. All results are integrated in conceptual

designs for the industrial scale Reactive Distillation processes (packed and

tray) and the Bubble Column process, which are evaluated against the batch

process. Because insufficient information on the batch process is available to

make a detailed simulation model, this evaluation was done based on required

reaction volumes.

The processes are designed for are a production capacity of 1000 kg/hr

(3697 mol/hr) ester, which is representative for an industrial process [1] and

99% conversion of the myristic acid. The process is attractive for the indus-

try when a 99.0% conversion of myristic acid and a 99.0% product purity is

obtained.

To prevent ester colouration due to degradation and undesired side product

formation, the temperature in the batch process is restricted to 170◦C. [2, 3]
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In a Reactive Distillation process the residence times are expected to be much

lower. Therefore, it is expected that the temperature restriction is not that

tight in Reactive Distillation. Therefore both a restriction of 170◦C and 220◦C

are investigated.

6.2 Theory

6.2.1 Modelling Reactive Distillation

A Reactive Distillation process model consists of sub-models for mass transfer,

reaction kinetics and hydrodynamics. The completion of these sub-models can

vary from simple to complex, as described in Chapter 4. [4]

It was described that the Damköhler number can be used to see if a Reactive

Distillation process is controlled by chemical equilibrium, phase equilibrium or

something in between those two extremes.

For the system used in this research Da ≈ 0.05 for the packed column

and Da ≈ 0.12 for the tray column. This is in both cases much smaller than

0.5, which means that the system can be assumed to be dominated by phase

equilibrium, just like in the feasibility analysis in Chapter 4.

In this chapter the simplest possible model for all three parts (mass transfer,

reaction kinetics and hydrodynamics) is used. As explained above, the mass

transfer can be described by physical equilibrium. This equilibrium stage

model is described in Chapter 4, section 4.2.1. Chemical equilibrium is not

reached, therefore the reaction will be described by a kinetic model of the bulk

reaction. The hydrodynamics for the packed column are described by liquid

hold-up and pressure drop correlations, which can be found in Chapter 5. For

the tray column, the hydrodynamics are considered to be ideal (plug flow).

Mass transfer packed column

Because the equilibrium model is used for modelling the Reactive Distillation

column, mass transfer correlation are not included. However, they can be used

to calculate the the height equivalent to a theoretical plate (HETP). Rocha et
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al. [5] developed a model for describing mass transfer in distillation columns

containing structured packings. The gas side mass transfer coefficient is based

on the wetted-wall relationship. Dimensionless Sherwood (Sh), Reynolds(Re)

and Schmidt(Sc) numbers are combined as follows:

Sh = 0.054Re0.8Sc0.33 (6.1)

kgS

Dg
= 0.054

(
(uge + uLe)ρgS

µg

)0.8(
µg

Dgρg

)0.33

(6.2)

where the characteristic length S is the side dimension of a corrugation cross

section (8.9 mm for Sulzer BX), for the diffusion constant Dg a typical value

of 1·10−5 [6] is used and the effective velocities (uge and uLe)are defined as:

uge =
ugs

ε(1− hl) sin θ
(6.3)

uLe =
uLs

εhl sin θ
(6.4)

with θ is the inclination angle of the flow channel (60◦ for Sulzer BX) and ugs

and uLs the superficial velocities.

For the prediction of the liquid phase mass transfer coefficient a simple

penetration model is used, with exposure time based on liquid flow across one

corrugation face of the packing. For those parts of packed bed that do not

encourage rapid surface renewal a correction factor CE ∼ 0.9 is introduced.

The liquid phase mass transfer coefficient can be calculated by

kL = 2

(
DLCEuLe

πS

)0.5

(6.5)

For the diffusion constant DL a typical value of 1·10−8 [6] is used.

The heights of the transfer units are then determined by the conventional

relationships for distillation:
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HOG = HG + λHL (6.6)

=
ugs

kgae
+ λ

uLs

kLae
(6.7)

HG is the height of a gas phase transfer unit, HL is the height of a liquid phase

transfer unit and HOG is the height of an overall transfer unit. kgand kL are

obtained from Eq. 6.1 and 6.5. While the wetting of the packing surface is

incomplete ae is the effective interfacial area, which is correlated to the total

surface area of the packing a as follows:

β =
ae
a

= 1− 1.203

(
uLs2

Sg

)0.111

(6.8)

λ is the stripping factor (mV/L), with m is the slope of the equilibrium curve

(= dy∗/dx). Subsequently, the value of the height equivalent to a theoretical

plate (HETP) can be calculated:

HETP = HOG
lnλ

λ− 1
(6.9)

In Table 6.1 the values for the mass transfer coefficients and the heights

of the transfer units are given. The HETP for the isopropanol-myristic acid

system varies between 0.11 and 0.30, with an average value of 0.21, dependant

of the position on the equilibrium line. This average value is in the same order

of magnitude as the value of 0.20 reported in literature [2]. It should be noted

that the calculation is based on the equilibrium of a binary system and typical

values for the diffusion coefficients were taken, which can explain the small

deviation.
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kL [m s−1] 3.2·10−4

kg [m s−1] 1.6·10−2

HG[m] 0.04
HL [m] 0.25

HOG [m] 0.04-2.50
HETP [m] 0.11-0.30

Table 6.1: Mass transfer coefficients and heights of the transfer units for the
packed Reactive Distillation

Hydrodynamics tray column

The liquid hold-up in a sieve tray column consists of the hold-up below the

weir (hl,bw) and the hold-up over the weir (hl,ow) [7]:

hl = hl,ow + hl,bw (6.10)

The liquid hold-up over the weir is dependant of the flow regime. In the

spray regime the liquid is dispersed almost completely into small droplets due

to the force of the vapour jets. The transport of liquid over the weir occurs like

spraying. In the emulsion regime the vapour jets are bent over and dispersed

into bubbles. The transport over the weir is now mainly continuous liquid flow

containing emulsified vapour. The transition from spray flow to emulsion flow

is determined by the ratio of the horizontal liquid momentum flow and the

vertical vapour momentum flow [7]:

ul

ug

(
ρl
ρg

)0.5

=
FP

bhl
> 3.0 (6.11)

where b is the weir length per unit bubbling area and FP a flow parameter.

In the emulsion regime ((FP/bhl) > 3− 4) the liquid-up above the weir is

calculated with the Francis equation:

hl,ow = 1.04g−0.33
(ul

b

)0.67

(6.12)

For the spray and mixed regime ((FP/bhl) < 3 − 4) Zuiderweg [7] deter-
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mined the following:

hl,ow = 2.4g−0.33
(ul

b

)0.67
(
FP

bhl

)−0.33

(6.13)

Zuiderweg [7] also determined the hold-up below the weir:

hl,bw = 0.5H0.5
w p0.25

(
FP

b

)0.25

(6.14)

where Hw is the weir height and p the pitch of holes in sieve plate.

6.2.2 Modelling a Bubble Column

A Bubble Column can be compared to a Reactive Distillation column: both

are gas-liquid contactors. Only in a Bubble Column the liquid is an continuous

phase where the gas is bubbling through while in a distillation column both

phases are disperse. In a Bubble Column mass transfer plays an important

role. While for the modelling of the Reactive Distillation the mass transfer

was considered equilibrium-based, for the Bubble Column a rate-based model

should be used. This is done with the non-equilibrium stage model. The non-

equilibrium stage model can be modelled in Aspen Plus using the RATEFRAC

model. By changing the relation for the mass transfer coefficient using a

FORTRAN user subroutine, the model can be used to simulated a Bubble

Column.

Non-equilibrium stage model

At first the non-equilibrium stage model for a non-reactive system will be

described. The component molar balances for the vapour and liquid-phases

are

Vjyi,j − Vj+1yi,j+1 − fV
i,j + NV

i,j = 0 (6.15)

Ljxi,j − Lj−1xi,j−1 − fL
i,j + NL

i,j = 0 (6.16)
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in where Ni,j is the interfacial mass transfer rate and is the product of the

molar flux and the net interfacial area. The overall molar balances are obtained

by summing Eq. 6.15 and 6.16 over the total number of components in the

mixture. The Ni,j are obtained from a modified Maxwell-Stefan equation

xi,j

RTj

∂µL
i,j

∂η
=

c∑

k=1

xi,jNL
k,j − xk,jNL

i,j

cLt,j(κ
L
i,ka)j

(6.17)

The relation for the vapour phase is similar to the one for the liquid phase.

The κL
i,k represents the mass transfer coefficient of the i− k pair in the liquid

phase and a is the interfacial area.

The enthalpy balances are

VjH
V
j − Vj+1H

V
j+1 − FV

j HV F
j + EV

j +QV
j = 0 (6.18)

LjH
L
j − Lj−1H

L
j−1 − FL

j HLF
j + EL

j +QL
j = 0 (6.19)

The interphase energy transfer for the liquid phase is

EL
j = −hL

j a
∂TL

∂η
+

c∑

i=1

NL
i,jH

L
i,j (6.20)

In where hL
j is the heat transfer coefficient in the liquid phase. The relation for

the vapour phase is similar to that of the liquid phase. At the vapour-liquid

interface phase equilibrium is assumed

yi,j|I = Ki,jxi,j|I (6.21)

The subscript I denotes the equilibrium compositions and Ki,j is the vapour-

liquid equilibrium ratio for component i on stage j.

Besides the equation mentioned above the summation equations for the mole

fractions in both phases and equations expressing the continuity of fluxes of

mass and energy across the the interface are needed. Furthermore the pressure

drop across a stage is taken into account
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pj − pj−1 − (∆pj−1) = 0 (6.22)

in where pj and pj−1 are the stage pressure and ∆pj−1 is the pressure drop

per tray for stage (j − 1) to stage j. [8]

Extending the non-equilibrium stage model for a reactive system is not as

it is for the equilibrium stage model in which we add a term to account for

reaction to the liquid phase material balances. [8]

In case of a homogeneous reaction the liquid phase component molar bal-

ance becomes

Ljxi,j − Lj−1xi,j−1 − fL
i,j −NL

i,j −
r∑

m=1

νi,mRm,jεj = 0 (6.23)

where Rm,j is the rate of reaction m on stage j, νi,m represents the stoichio-

metric coefficient of component i in reaction m and εj represents the reaction

volume on stage j. For homogeneous reaction this equals the total liquid

hold-up on stage j. [8]

Mass transfer

The mass transfer between the gas and the liquid phase in a Bubble Column,

accompanied with a slow reaction [9], can be described by the volumetric mass-

transfer coefficient kLa, which is the liquid phase mass transfer coefficient kL

multiplied by the specific interfacial area (a). The gas phase resistance can

usually be neglected. kL depends on the gas flow rate, type of sparger and gas-

liquid system. The mass transfer coefficient and the gas rate are proportional

to one another. [10]

Little information can be found on quantitative relations for the mass trans-

fer coefficients in a packed Bubble Column using structured packings. Sawant

et al. [11] investigated the mass transfer in a packed Bubble Column using

a wire gauze packing for the absorption of carbon dioxide diluted with air in

sodium carbonate-sodium bicarbonate buffers. Because Sulzer BX packing is

a wire gauze packing this relation will be used in this work:
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kLa = 0.008u0.4
G (6.24)

and

a = 160u0.4
G (6.25)

In Table 6.2 the physical properties of the system used by Sawant et al. [11]

and the system of the present work are compared. Because no concentrations

of the sodium carbonate-sodium bicarbonate buffers are known, it is assumed

that the properties are close to that of water. The operating temperature

used by Sawant et al. [11] is assumed to be 273K. The physical properties of

isopropanol and myristic acid were taken from the Aspen Plus simulations.

Temperature Density Surface Tension Viscosity
[K] [kg m−3] [N m−1] [Pa.s]

Carbon dioxide [12] 273 1.82 - 1.5·10−5

Water [12] 273 998.2 7.4·10−2 1.0·10−3

Isopropanol 443 10.3 - 1.5·10−4

Myristic acid 443 780.7 1.9·10−2 8.4·10−4

Table 6.2: Physical properties of the vapour and liquid streams in the pilot
column

It should be noted that in the present work a different gas-liquid system

is used of which the physical properties are not comparable: the actual mass

transfer coefficient may be different from the used correlation.

In order to check if the assumption of neglecting in the gas phase resistance

is correct, it will be estimated assuming the same relation as for the packed

distillation column can be used. Because in a Bubble Column there is no liquid

film, the bubble diameter should be used instead of the side dimension of a

corrugation cross section, The bubble diameter (db) can be calculated from

the interfacial surface area and the gas fraction [11]:

a =
6εG
db

(6.26)
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6.2 Theory

The gas side resistance can be neglected when

1

kg
¿ 1

mkL
(6.27)

with m being the the distribution coefficient, which represents the ratio of the

concentration in the liquid phase and the concentration in the vapour phase:

m =
ciL
ciV

=
( cL
cV

)
equilibrium

(6.28)

In Table 6.3 the values for the mass transfer coefficients can be found.

kL [m s−1] 5.0·10−5

kg [m s−1] 2.5·10−2

Table 6.3: Mass transfer coefficients in the Bubble Column

With a distribution coefficient along the column between 0.14 and 0.68,

Eq. 6.27 holds, thus the gas side resistance can be neglected.

The heights of the transfer units are then determined following the relations

used for the distillation. For the effective surface area the interfacial area is

used.

HG [m] 0.01
HL [m] 0.14

HOG [m] 0.01-4.50
HETP [m] 0.04-0.50

Table 6.4: Heights of the transfer units of the Bubble Column

In Table 6.4 the values for the mass transfer coefficients and the heights

of the transfer units are given. The HETP for the isopropanol-myristic acid

system varies between 0.04 and 0.05, with an average value of 0.08, dependant

of the position on the equilibrium line. This average value is in the same order

of magnitude as the value of 0.20 reported in literature [2]. It should be noted
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that the calculation is based on the equilibrium of a binary system and typical

values for the diffusion coefficients were taken, which can explain the small

deviation.

Hydrodynamics

The gas hold-up is one of the most important operating parameters because

it represents the total volume of bubbles throughout the column. Therefore

the interfacial area and the mass transfer between the gas and liquid phase

are proportional to the gas hold-up. The gas hold-up depends mainly on gas

flow rate, but also on the physical properties of the gas-liquid system involved.

[9, 10]. Unlike normal Bubble Columns, the effect of the column diameter

on gas hold-up seems negligible in packed Bubble Columns using wire gauze

packing. [11]

The gas hold-up is defined as the volume of the gas phase divided by the

total volume of the dispersion [10]:

εG =
VG

VG + VL
(6.29)

Many authors studied the influence of the superficial gas velocity on the gas

hold-up. [11, 13–17] However, little information can be found on quantitative

relations for the mass transfer coefficients in packed Bubble Column using

structured packings. Sawant et al. [11] investigated the gas hold-up in a packed

Bubble Column using a wire gauze packing for the absorption of carbon dioxide

diluted with air in sodium carbonate-sodium bicarbonate buffers. Because

Sulzer BX packing is a wire gauze packing this relation is used in this work:

εG =
0.017

ε
u0.5
G (6.30)

It should be noted that in the present work a different gas-liquid system

is used, the actual gas hold-up may be different from the used correlation.

The value calculated for the gas hold-up is used to calculate the stage liquid

hold-up which is given by:
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6.2 Theory

hl = (1− εG)

(
εκVc

n

)
(6.31)

where εκ is the void fraction of the packing.

Operating region

While operating a Bubble Column, three flow regimes can be distinguished

[10]:

Homogeneous flow regime Bubbles have a narrow bubble size distribution

and are distributed relatively uniformly over the cross section of the

apparatus.

Heterogeneous flow regime Larger bubbles are formed, mainly in the axis

of the column, which travel faster. Due to this, smaller bubbles are

transported downwards, near the column wall.

Slug flow regime Large bubbles are stabilised by the column wall and take

on the characteristic slug shape.

In Figure 6.1 the different regimes are given for normal Bubble Columns.

Lakota et al. [9] and Spicka et al. [18] reported that in the presence of internals

Figure 6.1: Flow regimes in Bubble Columns [10]
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the homogeneous regime is extended, even up to a superficial gas velocity of 9

cm s−1.

In the case of a slow chemical reaction small bubbles are preferred to ensure

the required interfacial area [19]. This can be reached in the homogenous flow

regime.

6.3 Modelling

To establish a feasible conceptual design for Reactive Distillation (packed and

tray column) and a Bubble Column process, simulations are performed using

the commercial software package Aspen Plus. First the column diameters

are determined based on the vapour and liquid capacities and the desired

production capacity. Subsequently, a parameter optimisation for the packed

Reactive Distillation column, in which the myristic acid to isopropanol feed

ratio, pressure, catalyst concentration, boil-up ratio and reflux ratio are varied,

is done to obtain the optimal process configuration. Finally, based on these

optimal values a conceptual design is made which is extended to the tray

Reactive Distillation column and the Bubble Column.

6.3.1 Column sizing

The packing used in the packed Reactive Distillation column is the Sulzer

BX packing. The data for this packing is already included in the software.

The number of stages is estimated from HETP data used by others for Sulzer

BX in literature. [2] Typical HETP values of ∼ 0.2 m−1 are reported in the

literature.

The column diameter has been estimated using the commercial program

SULPAK 3.1 from Sulzer Chemtech. The column is simulated using the RAD-

FRAC model to generate estimates for the vapour and liquid densities, which

serve as input parameters for SULPAK. The column diameter is varied till

the point of 80% capacity in proportion to flooding is reached. This results

in a diameter of 0.25 metres, based on a production capacity of 1000 kg hr−1
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isopropyl myristate. When the conceptual design is made it should be checked

if this diameter is still valid.

For the tray column, the same diameter is used. In Aspen Plus in the

tray sizing section it was checked if this was within the operating region. The

minimum required diameter is 0.22 metres thus 0.25 metres is a good choice.

For the Bubble Column, the column diameter is calculated based on the

different flow regimes. The Bubble Column is preferable operated in the ho-

mogeneous flow regime to ensure a large interfacial area which is beneficial

for the mass transfer and subsequently the reaction rate. Lakota et al. [9]

and Spicka et al. [18] reported that in the presence of internals (acrylic discs

and Sulzer SMZ static mixers) the homogeneous regime is present up to a

superficial gas velocity of 0.09 m s−1. With this velocity and the production

capacity of 1000 kg hr−1 isopropyl myristate, the column diameter is calcu-

lated. Because the volume flow rate of the isopropanol depends strongly on

the operating pressure, every pressure corresponds with a different diameter:

an overview is given in Table 6.3.1.

Pressure Diameter
[bar] [m]

5 0.4
11 0.3
12 0.3
13 0.25

Table 6.5: Bubble Column diameters for corresponding operating pressures

6.3.2 Kinetics

The kinetics of the reactions are experimentally determined and are described

in Chapter 3. The reaction rate for the esterification of myristic acid and

isopropanol using pTSA is
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rE = 3.33 · 105[cat] exp
(−58.9 · 103

RT

)
[A][B]

− 2.18 · 103[cat] exp
(−45.9 · 103

RT

)
[E][W ] mol L−1s−1 (6.32)

rE is the reaction rate, [E] the concentration ester, [A] the concentration

alcohol, [B] the concentration acid, [W ] the concentration water and [cat] is

the catalyst concentration.

6.3.3 Hydrodynamics

The liquid hold-up for the packed Reactive Distillation column is calculated

in Aspen Plus using the relations of Stichlmair [20] as described in Chapter 5.

These values have to be specified in the model. Manual iterations have to be

done till the calculated and specified values are comparable. The stage liquid-

hold-up is different for every stage. To avoid complexity an average value for

the stage liquid value is used.

For the tray Reactive Distillation column the liquid hold-up is calculated

from Eq. 6.10 to 6.14. These equations require the input of some geometrical

parameters of the tray.

The weir height will normally be between 40 to 90 mm, in the current

design a value of 50 mm will be used. A good value for the weir length is 0.77

of the column diameter. The hole pitch is normally 2.5 to 4.0 times the hole

diameter. In this design a pitch of 2.5 diameter is used. The preferred hole

size is 5 mm. A standard tray spacing is 500 mm. [21]

For the Bubble Column the liquid hold-up is calculated from the gas hold-

up, according to Eq. 6.30 and 6.31.
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6.3.4 Thermodynamics

For the simulations in Aspen Plus a property model has to be selected. In

Chapter 2 vapour-liquid equilibrium data from literature for different water-

isopropanol systems [22–24] are compared to different NRTL property models

in Aspen Plus.

The set of NRTL parameters developed by Aspen Tech based on data

from the Dortmund Data Bank, was found to correspond the best with the

experimental literature data and is therefore used further.

The unknown interaction parameters are estimated using UNIFAC, these

are all parameters concerning the myristic acid or the ester. UNIFAC predicts

an azeotrope between myristic acid and isopropyl myristate. It is unlikely that

this will occur, because the components have similar polarities. Therefore it is

better to set the interaction between those components to zero, to approximate

reality.

6.4 Results & Discussion

6.4.1 Optimisation & design of the packed Reactive

Distillation column

The base case used for the parameter optimisation is the RD simulation from

the feasibility analysis. The pressure is 5 bar, the hold-up follows from the

packing characteristics, the catalyst concentration is 0.15 M, the boil-up ratio

is 1, reflux ratio is 1 and the isopropanol to myristic acid feed ratio is 1:1. In

this simulation the influence of the following parameters is studied: Myristic

acid to isopropanol feed ratio, pressure, catalyst concentration, boil-up ratio

and reflux ratio. Three different number of stages are evaluated: 150, 200 and

300. In Figure 6.2 the influences are shown. First the parameters which cannot

be optimised to obtain complete conversion are varied at constant stage liquid

hold-up: Myristic acid to isopropanol feed ratio, boil-up ratio and reflux ratio.

The results are verified by several simulations in which the average stage hold-
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Figure 6.2: The influence of a) the boil-up ratio, b) reflux ratio and c)
IPA/Myristic acid feed ratio on the conversion

up is adjusted to the operating conditions (e.g. feed flows, pressure). For all

parameters, except the reflux ratio, holds that an increase in the values of the

parameter results in an increase of the conversion, until a maximum value is

reached. For the reflux ratio this is a rather flat optimum laying around unity,

depending of the number of stages.

From these results suitable values can be selected for these parameters:

• The optimal reflux ratio is one.

• The optimal boil-up ratio is one; higher boil-up ratios do not result in a
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6.4 Results & Discussion

significant higher conversion. While increasing the boil-up ratio further,

a maximum increase in conversion of 0.06% can be obtained, only more

energy is required.

• The optimal ipa/myristic acid feed ratio is 1.5: higher ratios can result in

a increase in conversion of approximately 2% but then more isopropanol

is required which also results in a higher energy consumption.

The remaining parameters (number of stages, pressure and catalyst con-

centration) should be used to optimise the process further. These parameters

are varied while the reflux ratio is 1, the boil-up ratio is 1 and the ipa/ma

feed ratio is 1.5. In Figure 6.3 the influence of the catalyst concentration is

shown. Higher catalyst concentrations result in higher conversion. However,

the catalyst concentration cannot be increased endlessly. The catalyst amount

should be negligible compared to the myristic acid amount. In the preceding

simulations a catalyst concentration of 0.15 M was used. This corresponds

with 3.5 weight percent of the myristic acid amount, which is considered too

much because of economical reasons. The catalyst is washed out of the prod-

uct stream and will not be recycled. To keep the costs of the catalyst as low

as possible a low catalyst concentration is preferred. Therefore, for the follow-

ing simulations, a catalyst concentration of 0.1 M is chosen; this corresponds

with 2.2 weight percent of the myristic acid amount, which is assumed to be
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Figure 6.3: The influence of the catalyst concentration on the conversion
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applicable.

With this catalyst concentration, a good combination of the pressure and

number of stages needs to be found. In Figure 6.4 the conversion versus number

of stages is given for different pressures. The reboiler temperature is set to

170◦C or 220◦C by changing the boilup-ratio. At low pressures the amount

of stages has to be high, and with a small number of stages the pressure has

to be high. An optimal combination can be found in the circled area. In

this area 99% conversion can be obtained with the lowest possible number of

stages and pressure. An operating pressure of 7 and 15 bar, respectively for

the temperature restriction of 170◦C and 220◦C is chosen. Higher pressures

hardly influence the number of stages to reach the same conversion of 99%.

For the temperature restriction of 170◦C a pressure of 8 bar can increase

the conversion with 3.6% with a small number of stages. With more stages

this difference becomes smaller. At 300 stages and more the pressure increase

results in a decrease in conversion of about 1%. This is probably caused by the

fact that at 8 bar the temperature of 170◦C is slightly below the water boiling

point (170.5◦C at 8 bar), which makes it difficult to evaporate the water. At

higher pressures it is even not possible to reach such high conversions, the water

cannot be evaporated anymore, which results in a decrease in conversion.
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Figure 6.4: The influence of the pressure on the conversion while the temper-
ature is restricted to a maximum of a) 170◦C and b) 220◦C
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For the temperature restriction of 220◦C at a pressure of 16 bar the av-

erage increase in conversion is 0.5%, depending of the number of stages. At

higher pressures this increase becomes smaller and at a pressure of 20 bar the

conversion decreases, just as seen at 9 bar with a temperature restriction of

181◦C, although the boiling temperature of water is not exceeded yet, this

occurs at a pressure of 24 bar. Apparently, the thermodynamics hinders the

evaporation of water before the boiling point is exceeded. This is supported

by the activity coefficient of water which decreases with increasing pressure.

At 5 bar the activity coefficient varies between 2.8 and 3.4, along the column.

When increasing the pressure the whole activity coefficient profile lowers till

the lowest point of the profile has reached a value of 2.0. From this point,

which occurs at 20 bar when the conversion starts to decrease, the rest of the

profile decreases to a value of 2.0. At 24 bar when, the maximum temperature

in the column exceeds the boiling temperature of water, the activity coefficient

along a major part of the column is 2.0.

At the chosen pressure the exact number of stages to obtain 99% is deter-

mined. For the temperature restriction of 170◦C this results in in 419 reactive

stages with an average liquid hold-up per stage of 1.16 L and a pressure of

7 bar. For the temperature restriction of 220◦C this results in 121 reactive

stages with an average liquid hold-up per stage of 1.26 L and a pressure of

15 bar. Because a higher temperature is allowed, a higher pressure can be

applied. The liquid hold-up is correlated to the pressure drop and pressure

and therefore they are different in both situations.

Because in the conceptual design the vapour flow has increased compared

to the starting point in the parameter optimisation, the chosen diameter of

0.25 metres is not applicable anymore. To stay within the operating region

this should be changed to 0.30 metres. A change of diameter does not effect

the required liquid volume, although the number of equilibrium stages has

decreased. This means that the vapour-liquid equilibrium does not play a

role: the system is governed by the reaction kinetics.

A larger diameter results, at equal flows, in lower velocities. Because the

liquid hold-up is dependent on those velocities a change in diameter effects
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liquid hold-up per stage and therefore the required reactor volume.

For the temperature restriction of 170◦C the larger diameter results in in

379 reactive stages with an average liquid hold-up per stage of 1.28 L. For the

temperature restriction of 220◦C this results in 108 reactive stages with an

average liquid hold-up per stage of 1.42 L.

170◦C 220◦C
Pressure [bar] 7 15

Reactive stages [-] 379 108
Column height [m] 76 22

Liquid hold-up per stage [L] 1.28 1.42
Total liquid hold-up [m3] 0.49 0.15

Total volume [m3] 5.36 1.53

Table 6.6: Results conceptual design for Reactive Distillation in a packed
column

In Table 6.6 an overview is given of the resulting dimensions of the con-

ceptual design of a packed Reactive Distillation column with two possible

temperature restrictions, namely 170◦C and 220◦C. When the temperature

restriction is 170◦C the height of the reactive section of the column is 76 me-

tres, which is not desired in this applications. With a temperature restriction

of 220◦C the height of the reactive section becomes 22 metres, which is more

realistic. However, first it should be investigated if higher temperatures are

allowed at this short residence times. The concentration profiles can be found

in Appendix 6.A.

A way to decrease the height of the column is to increase the liquid hold-up

per stage. Now, the liquid volume, in which the reaction takes place, is only

10% of the total volume. It is expected that with larger liquid hold-ups the

total volume decreases as well as the column height. The liquid hold-up can

be increased by using a tray Reactive Distillation column or a reactive Bubble

Column. These will be evaluated in the next paragraphs.

Because an excess of isopropanol is applied, the product cannot be obtained

in pure form at the bottom of the distillation column. The isopropanol present

178



6.4 Results & Discussion

Myristic acid

Isopropanol

Isopropyl myristate

Figure 6.5: Schematic overview of the Reactive Distillation column for the
production of isopropyl myristate

in the bottom stream can be easily removed through a flash. In Figure 6.5 the

combination of distillation column and flash is schematically represented.

6.4.2 Optimisation & design of the tray Reactive

Distillation column

For the tray column the outcome of the parameter optimisation will be the

same as for the packed column. Only the internals have changed, which results

in a different number and size of equilibrium stages. In the previous paragraph

it was concluded that the vapour-liquid equilibrium does not contribute to the

required liquid volume, this is mainly determined by the reaction kinetics.

Therefore only the influence of the pressure on the number of stages is in-

vestigated. In Figure 6.6 the conversion versus number of stages is given for

different pressures. The reboiler temperature is set to 220◦C by changing the

boilup-ratio. At low pressures the number of stages has to be high, and with a

small number of stages the pressure has to be high. An optimal combination

can be found in the circled area. In this area 99% conversion can be obtained

with the lowest possible number of stages and pressure. An operating pressure

of 15 bar is chosen. Higher pressures hardly have any influence on the number
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Figure 6.6: The influence of the pressure on the conversion

of stages to reach the same conversion of 99%. This is the same operating pres-

sure as for the packed column. At a pressure of 16 bar, the average increase

in conversion is 0.3%, depending of the number of stages. The same effect of

thermodynamics on the conversion is seen as for the packed column. At the

chosen pressure the exact number of stages to obtain 99% is determined. This

results in in 22 reactive stages with an average liquid hold-up per stage of 9.57

L and a pressure of 15 bar.

In Table 6.7 an overview is given of the resulting dimensions of the con-

ceptual design of a tray Reactive Distillation column with a temperature re-

striction of 220◦C. The concentration profiles can be found in Appendix 6.A.

220◦C
Pressure [bar] 15

Reactive stages [-] 22
Column height [m] 11

Liquid hold-up per stage [L] 9.57
Total liquid hold-up [m3] 0.21

Total Volume [m3] 0.54

Table 6.7: Results conceptual design for Reactive Distillation in a tray column

The resulting liquid volume is 40% larger compared to the packed column.

In the previous paragraph it was stated that the number of equilibrium stages
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does not play a role. However, at smaller values for the number of stages the

number of equilibrium stages does play a role. The tray column contains a

lower number of stages than the packed column (22 versus 108), therefore the

required liquid volume is larger than in the packed column.

The column volume has decreased with 65% compared with the packed

column. This results from the fact that the used liquid hold-up of 39% is

much higher than the 10% for the packed column. The liquid hold-up can be

increased even more by using a reactive Bubble Column.

6.4.3 Optimisation & design of the packed reactive

Bubble Column

For the Bubble Column it will also be assumed that the outcome of a param-

eter optimisation will be the same as for the distillation column. Only the

internals have changed. Therefore only the influence of the pressure on the

number of stages is investigated. In Figure 6.7 the conversion versus number

of stages is given for different pressures. The reboiler temperature is set to

220◦C by changing the boilup-ratio. At low pressures the number of stages

has to be high, and with a small number of stages the pressure has to be high.

It can be seen that the pressure does not have a large influence on the number

of stages as in the Reactive Distillation. For the Bubble Column the diame-
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Figure 6.7: The influence of the pressure on the conversion
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ter depends on the pressure: at higher pressure the diameter decreases, thus

without a decreasing number of stages the volume already decreases because

of the diameter. A suitable combination can be found in the circled area. In

this area 99% conversion can be obtained with the lowest possible number of

stages and pressure. An operating pressure of 12 bar is chosen, this is the

optimal pressure: at higher pressures the conversion decreases again. This is a

lower operating pressure as for the packed column. In the Bubble Column the

water is not pushed out of the liquid phase to the vapour phase as described in

Chapter 4, section 4.4.1. A lower driving force prevents the water from being

pushed out of the liquid phase. Because of the water present in the liquid

phase the backward reaction will take place and influence the conversion.

At the chosen pressure the exact number of stages to obtain 99% conversion

is determined. This results in in 115 reactive stages with an average liquid

hold-up per stage of 10.53 L and a pressure of 12 bar.

In Table 6.8 an overview is given of the resulting dimensions of the con-

ceptual design for the packed Reactive Distillation column with a temperature

restriction of 220◦C. The concentration profiles can be found in Appendix 6.A.

220◦C
Pressure [bar] 12

Reactive stages [-] 115
Column height [m] 23

Liquid hold-up per stage [L] 10.53
Total liquid hold-up [m3] 1.21

Total Volume [m3] 1.63

Table 6.8: Results conceptual design for the Bubble Column

The resulting volume is larger than the Reactive Distillation columns, al-

though the liquid hold-up has increased enormously to 73%. The larger re-

quired total liquid hold-up can be explained by the less favourable mass trans-

fer characteristics of the Bubble Column compared to Reactive Distillation.

If kinetics were governing, the required total liquid would be equal to that of

the Reactive Distillation. However the required liquid volume for the Bub-
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ble Column is larger than in the Reactive Distillation column therefore mass

transfer is contributing to the overall rate as well. This can be supported by

the Hatta number (Ha) which is the ratio of the maximum possible conversion

in the film to the maximum diffusional transport through the film. For higher

order reactions of two components (order n in component A and order b in

component B), the Hatta number is defined as followed [25]:

HaA =

√
2

n+1kn,mcn−1
A,i,Lc

m
B,LDA

k2L
(6.33)

For the Hatta number of isopropanol (this is the component which has to

be transferred from the vapour phase to the liquid phase) this can be rewritten

to

HaIPA =

√
k1cIPA,LDIPA

k2L
(6.34)

When Ha < 0.2 the reaction is slow compared to the mass transfer. A large

bulk liquid volume is required. When Ha > 2 the reaction is fast compared

to the mass transfer, such that all of the reaction occurs in the film and

the amount of interfacial area is controlling When 0.2 < Ha < 2 there is

a transition regime, both a large interfacial area and large bulk liquid volume

are required. [25, 26] While Ha = 0.23 for the Bubble Column, both the

kinetics and mass transfer could contribute to the overall rate.

In the Reactive Distillation process, the mass transfer was assumed ideal.

Now also mass transfer should be taken into consideration which means that

the overall rate is lower. Thus a longer residence time is needed to achieve the

same conversion.

In the liquid composition graphs displayed in Figure 6.8 it can be seen

that the isopropanol concentration in the Bubble Column is lower and the

water concentration higher, compared to the Reactive Distillation column.

This confirms the explanation why additional reaction volume is needed. It

should be noted however that the mass transfer of the Bubble Column is based
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on a single empirical correlation. Measuring the actual mass transfer for this

system will give a better estimate.
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Figure 6.8: Liquid profiles in a) packed Reactive Distillation and b) Bubble
Column

6.4.4 Batch Process

Because of equilibrium limitations, high conversions of myristic acid can be

only obtained by using a large excess of alcohol. In the batch method the

reactants are charged into a still pot of appropriate capacity which is fitted

with an efficient fractionating column, usually of the bubble-cap or packed

type. The proportions of the reactants vary with the nature of the acid and

alcohol. [27] In Chapter 1 some examples of the batch production of esters

made from smaller acids are discussed.

Little has been published on the production of alkyl esters of fatty acids.

Zhou [1] described a semi-batch process for the synthesis of methyl oleate,

which corresponds with the general description of the batch production of

esters given above. The same process is assumed to be used for the production

of isopropyl myristate. The process consists of a reactor and a condenser or

rectifying columnn. The myristic acid is charged in the reactor in advance

while the isopropanol is fed continuously in time. To prevent colouration of
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isopropyl myristate the temperature should not exceed 170◦C [2, 3]. The

operating pressure will be around 6 bar. [28, 29] The vapour of produced

water and non-consumed isopropanol is separated in the rectification column

and the isopropanol is recycled back into the reactor. Because isopropanol and

water form an azeotrope, part of the isopropanol will be drawn off. In order

to prevent a large excess of isopropanol it is fed continuously at a slow rate,

such that all added isopropanol will react immediately. This results in a very

long batch time. A typical batch time of 8-12 hours is assumed. [28, 29]

Insufficient information is available to make a detailed simulation model

of the batch process. Therefore a rough estimation on the required reaction

volume is made, which will be compared with the required volume for the

Reactive Distillation process. The estimation of the reaction volume is made

based on the batch time, production capacity and the density of isopropyl

myristate, assuming that the concentration of isopropanol is negligible due to

the continuous feed and recycle. Depending on the batch time, the reaction

volume will vary from 6 to 9 cubic metres, see Table 6.9. For the comparison

the average of these batch times (ten hours) will be used.

Batch time Volume
[hr] [m3]

8 6
10 7
12 9

Table 6.9: Required reaction volume for the batch process depending of the
batch time

6.4.5 Comparison

In Figure 6.9 the required reaction volumes and the corresponding liquid vol-

umes of the batch process, the packed Reactive Distillation column with a

temperature restriction of 170◦C and 220◦C,the tray Reactive Distillation col-

umn with a temperature restriction of 220◦C and the packed Bubble Column

with a temperature restriction of 220◦C, as discussed before, are depicted. The
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Figure 6.9: Required reaction volumes and liquid volumes in the batch process
and continuous processes

total required reaction volume for the Reactive Distillation with a tempera-

ture restriction of 170◦C has decreased with 27% compared to the reaction

volume in the batch process. Despite this enormous decrease in volume, the

height of the Reactive Distillation column is 76 metres, which is too high to

realise. When the temperature restriction is 220◦C instead of 170◦C, the re-

action volume can be decreased even more (79% in relation to the reaction

volume in the batch process), and the height of the Reactive Distillation col-

umn is now realistic: 22 metres. However, first it should be investigated if

higher temperatures are allowed at this short residence times.

The resulting liquid volume of the tray column is 40% larger compared to

the packed column. Unlike stated before, at small number of stages the number

of equilibrium stages does not play a role, therefore the required liquid volume

is larger than in the packed column. The column volume had decreased with

65% compared to the packed column, and with 93% compared to the batch

process. This results from the fact that the used liquid hold-up of 39% is

higher than the 10% for the packed column.

It was expected that the required total volume of the Bubble Column would

be smaller than the Reactive Distillation column, due to the higher hold-up.

However the required reactor volume has only decreased with 78% compared to
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the batch process, this is probably caused by the less favourable mass transfer

characteristics of the Bubble Column.

When a temperature of 220◦C is allowed in the column, the tray Reac-

tive Distillation is the preferable process for the esterification of myristic acid

isopropanol, based on the required reaction volumes.

6.5 Conclusion

A conceptual design for the industrial scale Reactive Distillation process (packed,

tray and bubble Column) for the esterification of myristic acid with isopropanol

was constructed and evaluated against the batch process.

The required reaction volume can be decreased with 27 or 79%, allowing a

maximum temperature of respectively 170 and 220◦C, using a packed Reactive

Distillation. Using a Reactive Distillation tray column and a maximum tem-

perature of 220◦C, the required reactor volume can be decreased with 93%.

Due to the less favourable mass transfer characteristics of the Bubble Column,

the required reaction volume can only be decreased with 78%. When a tem-

perature of 220◦C is allowed in the column, the tray Reactive Distillation is

the preferable process for the esterification of myristic acid isopropanol, based

on the required reaction volumes.

The column configuration, which results in a different liquid hold-up per

stage, can cause a decrease in required column volume of 67%. The maximum

column temperature has a comparable influence: an increase of 50◦C decreases

the column volume with 71%. Thus, the column temperature and the used

internals are equally important for the column volume.

Nomenclature

[A] Fatty acid concentration [mol L−1]

[B] Alcohol concentration [mol L−1]
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[E] Ester concentration [mol L−1]

[W ] Water concentration [mol L−1]

[cat] Catalyst concentration [M]

a Interfacial area [m2]

ae Effective interfacial area [m−1]

β Ratio of effective to toatal packing surface area [-]

b Weir lenght per unit bubbling area [m−1]

c Concentration [mol L−1]

c Number of components [-]

db Bubble diameter [m]

E Energy transfer rate [J s−1]

ε Reaction volume [m3]

εG Fractional gas hold-up [-]

εκ Void fraction of the packing [-]

η Distance along diffusion path [-]

F Feed stream [mol s−1]

f Component feedstream [mol s−1]

FP Flow parameter [-]

g Gravitational constant [m s2]

p Pitch of holes in sieve plate [m]

H Molar enthalpy [J mol−1]

Ha Hatta number [-]

Hw Weir height [m]

h Heat transfer coefficient [W m−2 K−1]

HG Height of a gas phase transfer unit [m]

HL Height of a liquid phase transfer unit [m]

HOG Height of an overall transfer unit [m]

hl,bw Liquid hold-up below the weir [m]
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hl,ow Liquid hold-up over the weir[m]

hl Liquid hold-up [m]

hl Liquid hold-up per stage [m3]

K Vapour-liquid equilibrium constant [-]

k1 Reaction rate constant [L mol−1 s−1]

κ Mass transfer coefficient [m s−1]

kLa liquid side mass transfer coefficient[s−1]

L Liquid flowrate [mol s−1]

λ Stripping factor: mV/L [-]

m Distribution coefficient [-]

m Slope of the equilibrium curve: dy∗/dx [-]

µ Chemical potential [J mol−1]

N Mass transfer rate [mol s−1]

n Number of stages [-]

pj Stage pressure [Pa]

Q Heat duty [J s−1]

R Gas constant [J mol−1 K−1]

Re Reynolds number [-]

Rmj Reaction rate [mol m−3 s−1]

rE Reaction rate [mol L−1 s−1]

ρg Vapour density [kg m3]

ρl Liquid density [kg m3]

Sc Schmidt number [-]

Sh Sherwood number [-]

T Temperature [K]

uge Effective gas velocity [m s−1]

ugs Superficial gas velocity [m s−1]

uLe Effective liquid velocity [m s−1]
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uLs Superficial liquid velocity [m s−1]

ul Liquid velocity [m s−1]

uG Superficial gas velocity [mm s−1]

ug Vapour velocity [m s−1]

V Vapour flowrate [mol s−1]

V Volume [m3]

Vc Total column volume [m3]

x Mole fraction in the liquid phase [-]

y Mole fraction in the vapour phase [-]

Subscripts

I Referring to interface

L Referring to liquid phase

V Referring to vapour phase

i Component index

i Interface

j Stage index

k Alternative component index

m Reaction index

t Total

Superscripts

F Referring to feed stream

L Referring to liquid phase

V Referring to vapour phase
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6.A Concentration profiles

Appendix 6.A Concentration profiles
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Figure 6.10: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the packed Reactive Distillation with a temperature restriction of 170◦C
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Figure 6.11: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the packed Reactive Distillation with a temperature restriction of 220◦C
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Figure 6.12: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the tray Reactive Distillation with a temperature restriction of 220◦C
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Figure 6.13: Concentration profiles of (a) liquid phase and (b) vapour phase,
for the reactive packed Bubble Column with a temperature restriction of 220◦C
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Chapter 7

Conclusions & Outlook

7.1 Conclusions

The objective of this thesis was the development of a multi-product Entrainer-

based Reactive Distillation process for the synthesis of fatty acid esters using a

heterogeneous catalyst, and evaluate its attractiveness compared to the current

technologies.

The first step was to compile a set of selection rules to that can be used

to select a suitable entrainer for Entrainer-based Reactive Distillation It was

demonstrated that, due to the similarities between Entrainer-based Reactive

Distillation and azeotropic distillation, the same selection rules can be ap-

plied to select a suitable entrainer. From a list of suitable entrainers for the

azeotropic distillation of isopropanol and water, cyclohexane and isopropyl ac-

etate were chosen and it was shown that both can be used as an entrainer in

Entrainer-based Reactive Distillation.

In the next step a thorough evaluation of reaction kinetics had to be done.

From the reaction kinetics study on the esterification of myristic acid with

isopropanol with Sulphated Zirconia, Nafion SAC13 and Amberlyst 15 as cat-

alyst, it became evident that these catalysts are not a suitable for the esterifi-

cation of myristic acid with isopropanol. This was confirmed by the research
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of Yalçinyuva et al. [1], in which the same reaction was investigated with

Amberlyst 15 and a silica-based Degussa catalyst. As none of the investigated

heterogeneous catalysts was sufficiently active for the esterification of myristic

acid and isopropanol it was decided to continue with a homogeneous catalyst:

p-toluene sulphonic acid (pTSA). Both the reaction with isopropanol and n-

propanol were investigated in detail. This study showed that the reaction with

n-propanol is considerably faster (at 373K about 3.8 times) than the reaction

with isopropanol.

After the kinetics study a feasibility study was performed for the esterifi-

cation of myristic acid with isopropanol and n-propanol. Five process config-

urations from conventional Reactive Distillation to Entrainer-based Reactive

Distillation for the synthesis of fatty acid esters were compared. Process mod-

els for the different configurations were setup in Aspen Plus and extensive

simulations were performed. This study showed convincingly that the success

of Entrainer-based Reactive Distillation strongly depends on the operating

conditions and reaction kinetics. Due to a combined effect of thermodynam-

ics and kinetics the entrainer does not always improve the conversion. The

amount of entrainer needed for water removal causes a decrease of the temper-

ature in the column. This temperature decrease can have a negative influence

on the conversion, because the high activation energy of the reaction cannot

be overcome.

Totally unexpected and refreshing was the observation that the conven-

tional Reactive Distillation configuration reaches the desired purity and con-

version. Because of its polarity, water is pressed out of the liquid phase, in

which the reaction takes place, so the reaction can reach nearly complete con-

version. Since the decrease of the reaction volume due to the addition of the

entrainer is rather small and the energy consumption are comparable, conven-

tional Reactive Distillation is the preferable configuration for the esterification

of myristic acid with either isopropanol or n-propanol.

The Aspen Plus process model for the Reactive Distillation was subse-

quently validated through a carefully selected set pilot plant experiments. A

detailed model of the pilot plant was created for that has validity at a wide
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range of operating conditions. Despite the fact that some of the experiments

could not be conducted as a result of practical difficulties with the setup, the

experiments correspond well with the predicted values; this makes the model

very useful for the construction of a conceptual design.

Finally, the validated process model was used to construct conceptual de-

signs for the esterification of myristic acid with isopropanol through Reactive

Distillation (packed and tray column), which were evaluated against the batch

process based on required reactor volumes. Also a Bubble Column was inves-

tigated, since a much larger liquid hold-up can be obtained. It was demon-

strated that Reactive Distillation is an attractive process for the synthesis of

isopropyl myristate, enabling a decrease in reactor volume of 84%. Due to

the less favourable mass transfer characteristics of the Bubble Column, the

required reactor volume can only be decreased with 78%. The column con-

figuration, which results in a different liquid hold-up per stage, can cause a

decrease in required column volume of 31%. The maximum column temper-

ature, on the other hand, has a much larger influence: an increase of 50◦C

decreases the column volume with 71%. The influence of the maximum col-

umn temperature and the influence of a larger liquid hold-up per stage as

a result of a different column configuration are of equal importance for the

required reaction volume.

Therefore Reactive Distillation has the potential to become an economi-

cally interesting alternative, not only for fatty acid esters based on methanol

and primary alcohol which is already known, but also for the production of

isopropyl myristate.

7.2 Outlook

7.2.1 Heterogeneously catalysed Reactive Distillation

In this research no available heterogeneous catalyst was found that is suitable

for the esterification of myristic acid with isopropanol. However, Chin et al.

[2] and Bhatia et al. [3, 4] report that Reactive Distillation can be successfully
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applied for the for the esterification of palmitic acid with isopropanol through

Reactive Distillation with an zinc acetate catalyst supported on silica gel. They

require a much smaller volume, although the reaction rate with palmitate acid

is comparable to myristic acid and a heterogeneous catalyst will most likely be

slower than a homogeneous catalyst. Because higher catalyst concentrations

can be obtained with a heterogeneous catalysed higher reaction rates can be

obtained, which result in a smaller required reaction volume.

Kiss et al. [5, 6], who worked on a research study which was part of the

same project, developed a Sulphated Zirconia catalyst (UVC4) which showed

high activity and selectivity for the esterification of lauric acid with a variety

of primary alcohols ranging from 2-ethylhexanol to methanol. Unfortunately

this particular catalyst is not commercially available, and could therefore not

be supplied in sufficient quantities to be included in the present research.

At a temperature of 133◦C, a concentration of 0.036 M H+-equivalent and a

reactant ratio of 1, it shows a reaction rate of a factor four lower compared to

pTSA. This can be seen in Figure 7.1.
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Figure 7.1: Reaction kinetics the esterification of myristic acid with iso-
propanol at 133◦C with a reactant ratio of 1 and a H+ concentration of 0.036
M for pTSA and UVC4 as catalyst

Assuming a catalyst volume of 30% (catalyst volume fraction for KATA-

PAK SP-12 packing [7]), which was also used by Bhatia et al. [3, 4] and similar
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liquid hold-ups as in the current design, the reaction rate can be 130 times

higher than in the design with 0.1 M pTSA. For the reaction investigated by

Bhatia et al. the kinetics are not available in literature. However, the reac-

tion kinetics for the esterification of palmitic acid with isopropanol using a

zinc ethanoate catalyst supported on silica gel are reported by Aafaqi et al.

[8]. With those reaction kinetics the same analysis results in a reaction rate

which can be 60 times higher than in the design with 0.1 M pTSA. When it

would be possible to apply the Sulphated Zirconia catalyst developed by Kiss

et al. [5, 6] in Reactive Distillation it will result in an even smaller column for

the esterification of myristic acid with isopropanol, compared to the current

design. Of course a more thorough study of the reaction kinetics and effects

of mass transfer is necessary.

7.2.2 Control

Omota et al. [9, 10] found that it is possible to obtain pure fatty acid ester in

a single column process, but problems may occur because the product purity

is highly sensitive to changes in the reflux ratio. The optimal reflux ratio is

very low, which could give control problems. Because conventional Reactive

Distillation was continued is this thesis, this problem still exists. Therefore

research regarding the controllability of the process is required. Another pos-

sible way to overcome the problem is to increase the reflux ratio. This will

lead to a less efficient process and results in a larger required volume.

7.2.3 Pilot plant experiments

Validation of the model with experimental results is already shown in Chapter

5. However, not all the intended validation experiments could be performed,

because of the practical difficulties to ensure no liquid level in the column and

the break down of the pumps due to clogging. Therefore, it is recommended

to perform more experiments in order to obtain a more stronger validation of

the model before the process will be realised at industrial scale. It is advisable

to adapt the equipment such that the currently experienced problems are no
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longer present. Especially when a heterogeneous catalyst is applied a thorough

experimental study is preferred. Heterogeneously catalysed reaction are more

complex than homogeneously catalyst reactions because mass transfer within

the particles and adsorption is involved.

7.2.4 Multi-product process

In Chapter 4 the esterification with n-propanol was included in the feasibility

analysis. However, this was only for comparison based on the difference in

reaction rates. n-propyl myristate is not a commercial available product and

therefore not of interest. In Chapter 3 the reaction kinetics of the esterification

of myristic acid with isopropanol were compared to those of the esterification of

palmitic acid with isopropanol, determined by Aafaqi et al. [8]. It was shown

that the reaction rate of both reaction is in the same order of magnitude. This

suggest that both products can be made in same equipment. Esterifications

with other alcohols will have very different reaction rates and therefore require

different reaction volumes. Thus, fatty acid esters with a different alcohol are

expected to be unsuitable for production in the same equipment while for

fatty acid esters with a different fatty acid it is probably possible to have one

plant in which multiple products can be produced. Further research on this

multi-product concept is recommended.
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