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Summary

Natural gas will become increasingly important as feedstock for the chemical industry in
the near future, as a result of tightening supplies of liquid hydrocarbons and more stringent
environmental demands. Natural gas utilization accordingly has developed into a major research
area in the past decades. Global research efforts have also been unfolded by industry and
academia to develop gas-to-liquids (GTL) technology for the conversion of methane, the major
constituent of natural gas, into high-added-value liquid products. In addition, natural gas
conversion into hydrogen, which can be converted to electricity in fuel cells, is attracting
widespread attention. All of the above processes require the initial conversion of methane
towards synthesis gas, a mixture of CO and H,. Recent advances in synthesis gas production, in
particular the progress in catalytic partial oxidation (CPO) towards syngas, have been a key
driving force.

This thesis aims at the investigation of the reaction kinetics of the catalytic partial oxidation
reaction and at reactor modeling of synthesis gas production via CPO at industrially relevant
conditions. The kinetic studies are performed at low conversions to obtain insight into the
primary reaction products. A fixed-bed reactor is used to investigate the kinetics in case of a 0.3
wt% Rh/a-Al,O; catalyst. Special emphasis is placed on the relative importance of homogeneous
gas-phase reactions and heterogeneous catalytic reactions. Partial oxidation of methane is also
investigated in a laboratory reactor containing a single Pt metal gauze catalyst, at conditions
where heat and mass-transport limitations cannot be neglected. Reactor modeling is carried out to
design adiabatic fixed-bed reactors for methanol and hydrogen-for-fuel-cells production.

Partial oxidation reactions and reactors - Literature review

Both Ni and Rh are presently considered to be the most promising CPO catalysts. Ni
catalysts show high conversions and selectivities, but suffer from catalyst deactivation due to
coke formation. Both high activity and stability was observed in case of Rh catalyst: the high cost
and limited availability will probably determine whether commercial application is viable.
Application of fixed-bed reactors appears to be limited to low pressures, due to the possible
occurrence of hot spots in the catalyst bed. Monolith reactors, however, were identified in the
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literature to be particularly suitable for the production of large amounts of synthesis gas in
compact reactors. Fluidized bed and membrane reactors also appeared as promising reactor
configurations. The kinetics of the CPO reaction were found to depend primarily on the applied
reaction conditions. Both direct synthesis gas production, yielding CO and H; in a single step, as
well as indirect formation, via total oxidation and steam reforming in series, were proposed in the
literature. A clear distinction between direct and indirect mechanisms requires experimental data
at low conversions. Kinetic studies reported in the literature, however, were generally performed
at high conversions. This justifies the experimental approach applied in this thesis, i.e. to study
the kinetics at low conversions.

Partial oxidation of methane over Rh/a-Al;03

The catalytic partial oxidation of methane to synthesis gas was studied in a fixed-bed
reactor using a 0.3 wt% Rh/a-Al,O; catalyst. Homogeneous gas-phase reactions and
heterogeneous catalytic reactions were investigated at temperatures between 1273 and 1345 K,
pressures between 400 and 800 kPa, using 6.7/3.3/90 CH4/O,/He mixtures. Both total and partial
oxidation products as well as significant amounts of C,-hydrocarbons were observed at these
conditions. The homogeneous gas-phase experiments were accurately described with a kinetic
model consisting of 40 reversible gas-phase reactions. Reactor simulations with this model
showed that gas-phase reactions were very important at the applied conditions: homogeneous
reactions contributed at least 50 % to the conversions obtained with the a-Al,Os support alone. A
comparison of measured conversions obtained with the support and with the Rh/a-Al,O; catalyst
revealed that both homogeneous gas-phase reactions and heterogeneous catalytic reactions were
important in case of the Rh catalyst. The product yields measured on the support and the catalyst
showed that Rh/a-Al,0O3 primarily catalysed methane total oxidation at 1345 K. However, at
1273 K there are strong indications that Rh also promoted the direct partial oxidation of methane
to synthesis gas.

Partial oxidation of methane in a structured Pt gauze reactor

During the catalytic partial oxidation of methane strong heat-transport limitations can occur
as a result of the high reaction rates. An experimental reactor, containing a single Pt gauze
catalyst, was developed to study the intrinsic kinetics of the CPO reaction in the presence of heat-
transport limitations. The catalyst temperature was measured directly by means of a spotwelded
thermocouple. At catalyst temperatures between 1030 and 1200 K, residence times of 0.02 to 0.2
milliseconds, CH4/O, ratios between 1.8 and 5.0, and O, conversions between 9 and 46%, CO,
CO,, and H,0O were the main products. CO was found to be the primary product. Hydrogen was
observed only at temperatures above 1273 K. At these conditions, however, the catalyst did not
exhibit stable performance with time-on-stream. The methane and oxygen conversions were
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independent of the catalyst temperature, and thus were completely determined by mass-transport.
The CO formation rate, however, was influenced significantly by the reaction kinetics. A reactor
model was developed to determine the intrinsic kinetics of the CO formation rate. This flat-plate
reactor model, consisting of two rows of flat plates in series, was validated by comparing the
calculated conversions and gas-phase temperatures to FLUENT simulations of the 3D geometry
of the gauze catalyst. A kinetic model consisting of six reaction steps was developed to account
for the conversions and selectivities measured with the Pt gauze catalyst. Analysis of analytical
expressions for the intrinsic CO selectivity indicated that methane adsorption had to be
considered as oxygen-assisted to describe primary CO formation. The intrinsic kinetic parameters
were obtained from literature and from single-response regression applied to the observed CO
selectivity. Statistically significant and physically consistent estimates of the intrinsic kinetic
parameters of methane adsorption were acquired. The model adequately reproduced the effects of
the catalyst temperature, reactant space-time, and inlet methane-to-oxygen ratio on conversions
and selectivity. Initial CO selectivities between 86 and 96 % were calculated. The role of surface
kinetics and mass-transfer in CO formation was illustrated quantitatively.

Partial oxidation reactors for methanol and hydrogen-for-fuel-cells production

Adiabatic fixed-bed CPO reactors for methanol and hydrogen-for-fuel-cells production
were investigated using a steady-state, one-dimensional heterogeneous reactor model. The reactor
model explicitly accounted for intraparticle concentration gradients: pellet scale continuity
equations were solved at each point along the reactor coordinate. Simulations were carried out
using supported Ni catalysts, which catalyse indirect synthesis gas formation. Rate equations for
methane oxidation, steam reforming, and water-gas shift were thus combined in the calculations.
Adiabatic fixed-bed reactors for operation of a 10 kW fuel cell are feasible due to low catalyst
temperatures, typically below 1000 K. At high pressure conditions suitable for the production of
1000 metric tons per day of methanol, however, high catalyst temperatures (> 1450 K) were
calculated. Hence, catalyst deactivation will be very important in this case. The influence of the
reforming kinetics was studied by performing simulations with two different reforming models
from the literature. In case of the low-pressure fuel-cell case, these reforming models resulted in
significantly different catalyst temperature profiles. At methanol conditions, a temperature
maximum was always observed near the reactor inlet, independent of the applied reforming
model. Reduced oxidation activity resulted in lower catalyst temperatures in the fuel-cell case,
whereas only minor influences were observed at methanol conditions. Fixed-bed reactors for
hydrogen production can be operated safely as gas-phase reactions are not likely to ignite. At
methanol conditions, however, gas-phase reactions will be very important.
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Samenvatting

Aardgas zal in de nabije toekomst steeds belangrijker worden als grondstof voor de
chemische industrie als gevolg van het teruglopende aanbod van vloeibare koolwaterstoffen en de
steeds strengere milieuwetgeving. Aardgasconversie heeft zich daarom ontwikkeld tot een
belangrijk onderzoeksgebied in de afgelopen decennia. Globale onderzoeksprogramma’s zijn
geinitieerd door de industrie en universiteiten voor het ontwikkelen van gas-naar-vloeistof (GTL)
technologie voor de omzetting van methaan, de belangrijkste component van aardgas, naar
hoogwaardige vloeibare producten. Tevens wordt op dit moment veel aandacht besteed aan de
omzetting van aardgas naar waterstof, dat met lucht in een brandstofcel kan worden
geconverteerd naar elektriciteit. De initi€le omzetting van methaan naar synthesegas, een mengsel
van CO en H,, is de eerste stap bij toepassing van bovenstaande processen. Recente
ontwikkelingen in synthesegas productie, met name de vooruitgang in katalytische partiéle
oxidatie (CPO), zijn hierbij een belangrijke drijfveer geweest.

Dit proefschrift is gericht op het onderzoeken van de kinetiek van de CPO reactie en op het
modelleren van reactoren voor synthesegasproductie via CPO bij industrieel relevante condities.
De kinetische studies zijn uitgevoerd bij lage conversiegraden om inzicht te krijgen in de primaire
producten van de reactie. Een vastbedreactor is toegepast om de kinetiek over een Rh/a-Al,O3
katalysator te onderzoeken. In deze studie wordt voornamelijk aandacht besteed aan het relatieve
belang van homogene gasfasereacties en heterogene katalytische reacties. De CPO reactie is
tevens onderzocht in een laboratoriumreactor, waarin één enkel Pt gaasje is opgenomen, bij
condities waar warmte- en stofoverdrachtslimiteringen niet kunnen worden verwaarloosd. Het
modelleren van reactoren is gebaseerd op gedragen Ni-katalysatoren en is uitgevoerd om
adiabatische vastbedreactoren te onderzoeken voor de productie van methanol en waterstof-voor-
brandstofcellen.

Partiéle oxidatiereacties en reactoren - Literatuuroverzicht

Zowel Ni als Rh worden op dit moment in de literatuur aangeduid als meest veelbelovende
katalysatoren. Ni katalysatoren vertonen hoge conversies en selectiviteiten, maar leiden onder
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katalysatordesactivering. In geval van Rh katalysatoren is zowel hoge activiteit als hoge stabiliteit
waargenomen: de hoge prijs van dit edelmetaal zal waarschijnlijk bepalen of commerciéle
toepassing al dan niet mogelijk is. Toepassing van vastbedreactoren is beperkt tot lage drukken
als gevolg van mogelijke vorming van hot-spots in het katalysatorbed. Monolietreactoren worden
echter in de literatuur aangeduid als geschikt reactortype voor de productie van grote
hoeveelheden synthesegas in compacte reactoren. Fluidbed- en membraanreactoren zijn eveneens
naar voren gekomen als veelbelovend reactorconcept. De kinetiek van de CPO reactie hangt
voornamelijk af van de toegepaste reactiecondities. Zowel directe productie van synthesegas,
waarin CO en H; in één enkele stap worden gevormd, als indirecte productie, waarbij synthesegas
wordt gevormd via totale oxidatie, stoom reforming en water-gas-shift reacties, worden in de
literatuur voorgesteld. De kinetische studies zijn meestal uitgevoerd bij hoge methaan- en
zuurstofconversies. Voor het maken van een duidelijk onderscheid tussen directe en indirecte
productie van synthesegas zijn echter experimentele gegevens bij lage conversies nodig. Dit
rechtvaardigt de aanpak toegepast in dit proefschrift, namelijk het bestuderen van de kinetiek bij
lage conversies.

Partiéle oxidatie van methaan over Rh/a-Al,O;

De katalytische partiéle oxidatie van methaan naar synthesegas werd bestudeerd in een
vastbedreactor in aanwezigheid van een Rh/a-Al,Os katalysator. Homogene gasfasereacties en
heterogene katalytische reacties zijn onderzocht bij temperaturen tussen 1273 en 1345 K, drukken
tussen 400 en 800 kPa, en met 6.7/3.3/90 CH4/O,/He mengsels. Totale en parti€le
verbrandingsproducten en aanzienlijke hoeveelheden C,-koolwaterstoffen werden waargenomen
bij deze condities. De homogene gasfasereacties werden bestudeerd in afwezigheid van de
katalysator, en werden nauwkeurig beschreven met een kinetisch model dat bestaat uit 40
reversibele gasfasereacties. Reactorsimulaties met dit model gaven aan dat gasfasereacties zeer
belangrijk zijn bij de toegepaste condities: homogene gasfasereacties droegen tenminste 50% bij
tot de conversies verkregen met de 0-Al,Os; drager. Een vergelijking tussen de gemeten
conversies verkregen met de drager en met de Rh/a-Al,Os katalysator wees uit dat zowel
homogene gasfasereacties als heterogene katalytische reacties belangrijk zijn bij de Rh
katalysator. De productopbrengsten gemeten met de drager en met de katalysator toonden aan dat
Rh/a-Al,0O3 voornamelijk de totale oxidatie van methaan katalyseert bij temperaturen van 1345
K. Echter, bij 1273 K zijn er tevens duidelijke aanwijzingen dat op Rh ook directe parti€le
oxidatie van methaan naar synthesegas plaatsvindt.

Partiéle oxidatie van methaan in een gestructureerde Pt gaasreactor

Tijdens de katalytische parti€le oxidatie van methaan kunnen sterke warmteoverdrachts-
limiteringen optreden ten gevolge van hoge reactiesnelheden. Een experimentele reactor, waarin
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¢én enkel Pt gaasje is aangebracht, werd ontwikkeld om de intrinsieke kinetieck van de CPO
reactie te onderzoeken in aanwezigheid van warmteoverdrachtslimiteringen. De temperatuur van
de katalysator werd direct gemeten met behulp van een puntgelast oppervlaktethermokoppel. Bij
de toegepaste condities, d.w.z. bij katalysatortemperaturen tussen 1030 en 1200 K, verblijftijden
tussen 0.02 en 0.2 milliseconden, CH4/O; verhoudingen tussen 1.8 en 5.0 en zuurstof conversies
tussen 9 en 46 %, werden CO, CO; en H,O als belangrijkste producten waargenomen. Bij korte
verblijftijden was CO het primaire product. Waterstof werd alleen waargenomen bij temperaturen
hoger dan 1273 K: bij deze condities vertoonde de katalysator echter geen constante activiteit in
de tijd. De methaan en zuurstof conversies waren onathankelijk van de katalysatortemperatuur en
werden bijgevolg volledig bepaald door stofoverdracht. De CO vormingssnelheid werd echter in
voldoende mate bepaald door de kinetiek van de reactie. Een reactormodel werd afgeleid om de
intrinsieke kinetiek van de CO vormingssnelheid te bepalen. Dit vlakke platen model, dat bestaat
uit twee rijen vlakke platen in serie, werd gevalideerd door berekende conversies en
gasfasetemperaturen te vergelijken met FLUENT simulaties van de 3D geometrie van de
gaaskatalysator. Een kinetisch model met zes reactiestappen werd ontwikkeld voor het
beschrijven van de invloed van de reactiecondities op de conversies en selectiviteiten gemeten
met de Pt gaaskatalysator. Analyse van wiskundige uitdrukkingen voor de intrinsicke CO
selectiviteit gaf aan dat adsorptie van methaan zuurstof-geassisteerd moet worden verondersteld
om de primaire vorming van CO te kunnen beschrijven. De bijbehorende kinetische parameters
werden verkregen met het vlakke platen model, dat stofoverdrachtsverschijnselen op
kwantitatieve wijze in rekening brengt. Regressieanalyse met één responsie, namelijk de
waargenomen CO selectiviteit, resulteerde in statistisch significante en fysisch-chemisch
consistente schattingen van de intrinsieke kinetische parameters van methaan adsorptie. Het
model reproduceerde de effecten van katalysatortemperatuur, reactant ruimtetijd en inlaat
methaan/zuurstof verhouding op de conversies en selectiviteiten op adequate wijze. Initi€le CO
selectiviteiten tussen 86 en 96 % werden berekend. De invloed van oppervlaktekinetiek en
stofoverdracht op de vorming van CO werd op kwantitatieve wijze geillustreerd.

Partiéle oxidatiereactoren voor productie van methanol en waterstof-voor-brandstofcellen

Adiabatische vastbed CPO reactoren voor de productie van methanol en waterstof-voor-
brandstofcellen werden onderzocht met een steady-state, 1-dimensionaal heterogeen
reactormodel. In dit reactormodel werden concentratiegradiénten in de katalysatorkorrel expliciet
in rekening gebracht: de continuiteitsvergelijkingen voor de korrelfase werden op elke positie in
de vastbedreactor opgelost. Simulaties werden uitgevoerd voor gedragen Ni katalysatoren die de
indirecte parti€le oxidatie van methaan naar synthese gas katalyseren. Snelheidsvergelijkingen
voor methaanoxidatie, stoom-reforming en water-gas-shift werden gecombineerd in de
berekeningen. Toepassing van adiabatische vastbedreactoren voor het bedrijven van een 10 kW
brandstofcel is mogelijk als gevolg van lage katalysatortemperaturen, typisch lager dan 1000 K.
Bij de hoge druk condities geschikt voor de productie van 1000 ton methanol per dag werden
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echter hoge katalysatortemperaturen berekend ( > 1450 K). Katalysatordesactivering als gevolg
van sinteren zal bij deze condities erg belangrijk zijn. De invloed van de reformingkinetiek op de
simulatieresultaten werd onderzocht door berekeningen uit te voeren met twee verschillende
reformingmodellen uit de literatuur. Deze reformingmodellen resulteerden in geval van de
brandstofcel in significant verschillende katalysatortemperatuurprofielen. Bij de methanol
condities werd altijd een temperatuurmaximum waargenomen aan de reactor inlaat, onathankelijk
van het toegepaste reformingmodel. De invloed van de kinetieck van de oxidatiereactie werd
eveneens onderzocht. Reductie van de oxidatie activiteit gaf aanzienlijk lagere katalysator-
temperaturen in geval van de brandstofcel, terwijl slechts kleine invloeden werden waargenomen
bij methanolcondities. Vastbedreactoren voor waterstofproductie kunnen veilig worden bedreven
aangezien gasfasereacties niet zullen ontsteken. Gasfasereacties zullen echter zeer belangrijk zijn
in geval van vastbedreactoren voor methanolproductie.
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| ntr oduction

1.1 Developmentsin industrial feedstock

The rapid advances of the chemical industry in the 20th century have been driven to a
large extent by a change in feedstock, resulting from a continuous search for cleaner and
cheaper raw materials. Initialy, coa was the main source of both energy and industrial
feedstock, the so-called synthesis gas. Then, a transition took place to liquid hydrocarbon
feedstocks from refineries and from crude oil wells. This structural change from solids to
liquids particularly resulted in an extraordinary acceleration of economic growth. The
increasing natural gas reserves and the high oil prices, peaking at about 35 US$ per barrel at
the beginning of the 1980's (BP Amoco, 1999), resulted in a clear focus on natural gas as a
source of petrochemicals and transportation fuels. Efficient use of natural gas resources will be
crucia in coping with the challenges currently facing industry, e.g. environmental mandates for
the production of clean transportation fuels (Sie et al., 1991).

Global natural gas reserves have grown steadily in the past decades, see Figure 1. The
proven reserves would be sufficient for nearly 70 years at current consumption rates. The
largest volumes of natural gas are present in the former Soviet Union and in the Middle East.
Europe and North America account for more than 50 % of the total natural gas consumption,
indicating that a considerable unbalance exists in the geographical distribution of reserves and
consumption. Indeed, most natural gas reserves are located in remote and inaccessible aress.
Hence, industry is currently facing the chalenge of reducing this geographical imbaance by
devel oping technologies and processes to market remote natural gas reserves.
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Figure 1 Proven natural gas reserves from 1974 to 1998 and geographic distribution of reservesin
1998 (BP Amoco, 1999). FSU = Former Soviet Union, EUR = Europe, SA = South America, NA =
North America, ASP = Asia Pacific, AFR = Africa, ME = Middle east.

Extensive research efforts have been unfolded by industry and academia to develop gas-
to-liquids (GTL) technology for the chemical conversion of remote natural gas reserves into
high-added-value liquid products. These liquid products, e.g. methanol and synthetic fuels, can
be more easily transported to markets, or can be used on-site as environmentally desirable
transportation fuel. For instance, GTL conversion would be a viable solution for economic
exploration of the large natural gas reserves on Alaska's North Siope (Venkatamaran et a.,
1998). At present, crude oil from the giant Alaskan Prudhoe Bay field is transported via the
Trans Alaska Pipeline system to Valdez for tanker shipment. Oil production of that field,
however, is declining at a rate of about 10 to 12 percent per year. Future projections indicate
that the minimum economic pipeline throughput rate will be reached by the year 2009. Natural
gas conversion into liquid products, which can be transported via the pipeline system, would
significantly increase the window of opportunity of the Trans Alaskan Pipeline. GTL
technology would also ensure that the remaining North Slope oil will not be “shut-in” due to
insufficient pipeline utilization.

Another incentive for natural gas utilization originates from the chemical conversion of
natural gas into hydrogen, which can be converted to eectricity in fuel cells. Fuel cells have
much higher energy efficiency compared to current combustion-based electric power plants.
Also, hydrogen is a much cleaner fuel than hydrocarbon feedstocks: emissions from hydrogen
fuel cells are dmost negligible. Fuel cells could be adapted for small-scale domestic energy
supply and for use in cars and buses. Hydrogen-powered cars thus could be the solution to the
gringent environmental demands on exhaust gas pollution. A number of organizations have
initiated programs for the development of fuel-cell vehicles, eg. Zevco (Zero Emission
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Vehicle Company), DBB (Daimler Benz Badlard), and the CFCP (Cdifornia Fuel Cell
Partnership). The latter consortium of industrial companies and governmental organizations
has planned to place about 50 fuel-cell passenger cars and electric buses on the road between
2000 and 2003. In addition to process development, considerable effort is devoted to the supply
and distribution of hydrogen fuels. Natural gas represents the interim feedstock to establishing
aglobal hydrogen economy, ultimately based on renewable resources.

Natural gas conversion processes involve the initial chemica conversion of natural gas
into synthesis gas, a mixture of CO and H,. Synthesis gas can be converted consecutively into
liquid fuels or methanol, or can be used directly in conjunction with fuel cells after shift and
CO removal. Recent advances in synthesis gas production, in particular the progress in
catalytic partial oxidation (CPO), have been a key driving force for development of natural gas
conversion processes. Despite the intensive research efforts, however, commercia application
of CPO has not been redlised yet. The cornerstones of catalytic process development, in
particular reaction kinetics and reactor modelling, still require considerable attention.

1.2 Relevance of reaction kinetics and reactor modelling

The development of GTL conversion and the use of hydrogen fuel cells requires safe and
economic conversion of natura gas towards synthesis gas. At present, synthesis gas is
produced either by catalytic steam reforming or by non-cataytic gasification of methane, the
major constituent of natural gas. The catalytic partial oxidation of methane to synthesis gas has
been put forward in the past decade as a compact and low capital expenditure alternative to
both processes. Extensive investigations have been initiated to study the oxidation reaction on a
laboratory reactor scale. These studies primarily aimed at developing suitable catalysts and at
the elucidation of the intrinsic kinetics of the oxidation reaction, i.e. the dependence of the
reaction rates on the various process parameters. Laboratory experiments and derivation of the
intrinsic reaction kinetics are generaly the first steps towards the development of industrial
reactors, see Figure 2. Catalyst optimization is usually carried out to identify proper catalyst
additives and promoters. The intrinsic kinetics of the appropriate catalyst are then combined
with reactor models, accounting for the relevant conservation laws and physical properties, to
design industrial reactors. This approach allows to overcome costly and time-consuming step-
by-step scale up via bench-scale reactors and pilot-plants. It has been argued, that the latter
scale-up method is indeed quite ineffective for partial oxidation (Schmidt et al., 1994) because
of the exothermic nature of the reaction and possible occurrence of non-selective homogeneous
gas-phase reactions.
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intrinsic kinetic catalyst
laboratory data design & optimization
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transport phenomena
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design & optimization

Figure 2. Catalytic process development from laboratory experiments to industrial reactor design
(Marin et al., 2000).

The intrinsic kinetics and reaction mechanism of the partial oxidation reaction have been
debated extensively in the literature. Both indirect synthesis gas production routes (Prettre et
a., 1946, Vernon et al., 1990) and direct synthesis gas formation (Hickman and Schmidt, 1992,
Mallens et a., 1995) have been proposed. Direct production of synthesis gas involves initial
formation of CO and H, which preferentialy desorb from the catalyst surface before being
converted towards the total oxidation products CO, and H,O, see Figure 3. In case of indirect
synthesis gas production, part of the methane is converted to the total oxidation products,
which are reformed consecutively with the remaining methane towards synthesis gas. A clear
distinction between direct and indirect synthesis gas production routes requires experimental
data at short residence times, i.e. at low oxygen conversions. At these conditions, the primary
products of the reaction can be identified in a straightforward way. Most kinetic studies,
however, have been conducted at conditions corresponding to high or complete oxygen
conversion. Experimenta studies reported in this thesis were always conducted at low oxygen
conversions, to alow investigating the primary products of the CPO reaction in detail.

0O, 0O,

(@)
I
ISy

Figure 3. Production of synthesis gas from methane and oxygen: direct production (closed frame) vs
indirect production (dotted frame).
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Direct production of synthesis gas from methane is a mildly exothermic reaction. In case
of the indirect route, however, the heat produced in the total combustion reactions can lead to
very high catalyst temperatures. Furthermore, high pressures are required in downstream
processes such as methanol and synthetic fuel production. At these conditions, non-selective
homogeneous reactions can occur. Reactor modelling is a useful tool to investigate the
influence of the latter effects on reactor operation and performance. Reactor simulations can be
carried out at conditions which cannot be realised safely in the laboratory. Design and
investigation of industrial CPO reactors using both intrinsic kinetic and reactor models will be
addressed in detail in thisthesis.

1.3 Aim, scope, and outline of thisthesis

The main part of the work described in this thesis was performed within the framework
of the “Methane-to-syngas’ JOULE projects of the European Commission, no. JOU2-CT92-
0073, and no. JOU3-CT95-0026. The main objective of these programs was to investigate the
potential of partial oxidation technology in the areas of gas-to-liquids conversion and fuel cell
operation. Within this context, the present thesis aims to contribute to fundamental insights into
(1) the reaction kinetics of the partial oxidation reaction, using different catalysts and reactor
configurations, and (2) the operation of industrial scale CPO reactors for production of
methanol and hydrogen-for-fuel-cells by means of reactor modelling.

In Chapter 2 a literature review is presented with respect to the developments of
catalytic partial oxidation in the past decade. The reactions occurring during the partia
oxidation of methane are discussed, emphasizing on selective and non-selective heterogeneous
and homogeneous reactions. Pioneering work on the partial oxidation reaction is highlighted.
Progress in CPO research in the past decade is discussed with specia emphasis on different
reactor configurations, catalysts, and reaction mechanisms. The relation of the work presented
in this thesis to the research described in the literature is indicated.

At present, both Ni and Rh have been identified in the literature as the most active and
selective catalysts for the CPO reaction. Ni catalysts will be preferred from industrial point of
view due to low costs. Rh based catalysts display higher stability compared to Ni, but suffer
from high cost and limited availability. In Chapter 3 the intrinsic kinetics of the CPO reaction
are studied in a fixed-bed reactor a low oxygen conversions using a 0.3 wt% Rh/a-Al,Os
catalyst. Experiments are performed at conditions as close as possible to the industrially
desired values, i.e. a high temperatures and pressures. At these conditions, non-selective
homogeneous gas-phase reactions can become important. Hence, both heterogeneous catalytic
and homogeneous gas-phase reactions were investigated. The relative importance of
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homogeneous and heterogeneous reactions at low oxygen conversions will be discussed.

The partial oxidation of methane to synthesis gas is only mildly exothermic when carried
out selectively. Due to the high reaction rates (Hickman and Schmidt, 1992), however, heat-
transport limitations will be inevitable, even at high synthesis gas selectivities. Investigation of
the intrinsic kinetics therefore requires dedicated reactors to account for the latter limitations.
In Chapters 4 and 5 an experimenta reactor is described, containing a single Pt metal gauze,
which alows to investigate the partial oxidation of methane at low oxygen conversions in the
presence of heat-transport limitations. Chapter 4 focuses on the experimental results and the
derivation of a reactor model to estimate the intrinsic kinetic parameters of the CPO reaction
from norrintrinsic laboratory data. An elementary step kinetic model was developed to
describe the experimental results obtained with the Pt metal gauze. This kinetic model is
described in Chapter 5, emphasizing primary formation of CO and the influence of mass-
transport herein.

As indicated in this chapter, reactor modelling is a useful tool to investigate the CPO
reaction at conditions which cannot be realised safely in alaboratory reactor. Hence, the design
of adiabatic fixed-bed reactors for the cataytic partial oxidation of methane at conditions
suitable for methanol and hydrogen-for-fuel-cells production is presented in Chapter 6 The
proposed reactor designs are based on supported Ni catalysts. Intrinsic kinetics are taken from
the literature. Special attention was paid in the simulations to hot-spot formation due to
exothermic total oxidation reactions. Sensitivity analyses are presented with respect to the
intrinsic reforming and oxidation kinetics. Also, the possible occurrence of homogeneous gas-
phase reactions is considered.

In Chapter 7 the main results of this thesis are discussed and a short overview of
expected future developmentsis given.
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Partial oxidation reactions and reactors

A literature review

2.1 Introduction

Natural gas utilization has become an important research area in the past decades. Both
direct and indirect conversion routes for methane, the major constituent of natural gas, towards
high-added-value chemicals have been investigated intensively. Direct conversion routes, e.g. the
oxidative coupling of methane towards ethylene, received much attention in the second part of
the 1980’s and the early 1990’s. The product yields obtained in this process, however, were
insufficient to justify commercial application. Hence, indirect conversion routes, with synthesis
gas as intermediate, attracted widespread attention in recent years. A rapid look at the
proceedings of the Natural Gas Conversion Symposia (Holmen et al., 1990, Curry-Hyde and
Howe, 1993, Parmaliana et al., 1998) held in the past years clearly shows the growing interest
devoted to synthesis gas production via catalytic partial oxidation (CPO). In the present chapter, a
literature review will be presented with respect to the developments of the catalytic partial
oxidation of methane to synthesis gas. Partial oxidation reactions will be dealt with first,
emphasizing on selective and possible non-selective heterogeneous and homogeneous reactions.
Pioneering work on the CPO reaction will be presented next. In addition, the most important
contributions to CPO research in industry and academia of the past decade will be discussed. In
particular, different reactor concepts, catalysts, reaction mechanisms, as well as practical
difficulties will be addressed. Finally, general conclusions and the relation to the work described
in this thesis will be highlighted.



24 Chapter 2
2.2 Partial oxidation reactions

This section provides an introduction to selective and non-selective heterogeneous catalytic
reactions as well as homogeneous gas-phase reactions that can occur during the partial oxidation
of methane to synthesis gas. Special reference is made to the work performed within the

Laboratory of Chemical Reactor Engineering at Eindhoven University of Technology.
2.2.1 Heterogeneous catalytic reactions

The direct catalytic partial oxidation of methane to synthesis gas ideally proceeds via:
CH4 +%02 - CO+2H2 AI'H?OOOK =_221kJ/m01 (1)

The 2:1 H,/CO ratio of the reaction product is considered to be optimal for downstream
production of methanol or liquid fuels via Fischer-Tropsch synthesis. The selectivities towards
CO and H,, however, can be influenced by the simultaneous occurrence of the total combustion

of methane, and secondary oxidation reactions of CO and H:

CH4 +20, - CO, +2H,0 A H {00k =-800 kJ /mol )
H, +),0, - H,0 A H 00k =248 kJ/mol 3)
CO + %02 - C02 AI'H?OOOK = _283 kJ/mOl (4)

These exothermic, non-selective oxidation reactions can result in high catalyst temperatures,
which are undesirable with respect to the catalyst stability and can cause severe heat-transport
limitations. At low temperatures, atmospheric pressure, and 2:1 CH4/O, ratio, thermodynamics
indeed indicate that the equilibrium product composition consists of a mixture of total and partial
oxidation products. At temperatures above 1200 K and 1 bar pressure, however, synthesis gas is
produced with 100% selectivity at complete oxygen conversion (Mallens, 1996).

The main advantage of catalytic partial oxidation over conventional steam reforming is the
slight exothermicity of the former reaction. Steam reforming of methane towards synthesis gas is

highly endothermic, thus requiring external heat input to drive the reaction:
CH, +H,0 ~ CO+3H, A Hy0x = 226 kJ/mol (5)

In addition, the 3:1 H,/CO ratio is too high for downstream applications and is therefore modified

in a second reactor by means of the water-gas shift reaction:
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CO+H,0 « CO, +H, A H {0k =-34.5 kJ/mol (6)

At the applied reaction conditions, i.e. temperatures above 1100 K, the equilibrium of the latter
reaction will shift to the left, resulting in a lower H,/CO ratio. Steam reformers require residence
times in the order of 1 s to obtain equilibrium synthesis gas yields. Hence, the reforming reaction
is carried out in large tubular reactors, whereas the CPO reaction can be carried out in
significantly smaller reactors, due to high reaction rates (Hickman and Schmidt, 1992).

A significant drawback in catalytic partial oxidation and methane steam reforming is the
possible occurrence of carbon deposition, via the Boudouard reaction (7), decomposition of

methane (8), and the CO reduction reaction (9):

2CO « C+CO, A H{ ook =-171kJ/ mol (7)
CH, — C+2H, A Hyox = 89.9 kI /mol (8)
CO+H, - C+H,0 A Hy0x = -136 kI /mol 9)

The exothermic Boudouard and CO reduction reactions are obviously favored at low
temperatures and high pressures, whereas methane decomposition is favored at high temperatures
and low pressures. Carbon deposition should always be minimized, since it can lead to catalyst
deactivation and reactor plugging. Equilibrium calculations including elementary carbon as
possible reaction product, indicate that carbon formation is not favored at temperatures higher
than 1200 K at atmospheric pressure and 2:1 CH4/O; ratio (Mallens, 1996). At a pressure of 100

bar, temperatures above 1250 K are required to avoid carbon formation (Mallens, 1996).

2.2.2 Homogeneous gas-phase reactions

Industrial application of methane partial oxidation requires high temperatures to obtain high
synthesis gas yields, and high operating pressures to reduce downstream compression costs. At
these conditions, however, homogeneous gas-phase reactions can become important and may
lead to explosions, thermal runaway, and to the formation of undesired products. Gas-phase
reactions can occur either in parallel to catalytic reactions, or can be initiated heterogeneously by
the catalyst surface, cf. the oxidative coupling of methane to higher hydrocarbons. Several
homogeneous gas-phase kinetic models can be found in the literature. Kinetic models have been
proposed for the total combustion of hydrocarbons (Tsang and Hampson, 1986), and for the
homogeneous oxidative coupling of methane (Chen et al., 1994). However, the latter kinetic

models are optimized at conditions that bear little relation to methane partial oxidation.
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Berger and Marin (1999) therefore developed a gas-phase kinetic model at conditions more
typical for the partial oxidation of methane to synthesis gas, i.e. at temperatures of 1000-1300 K,
pressures of 3-8 bar, and CH4/O; ratios between 2 and 3. Kinetic experiments were conducted in
an empty sintered-alumina reactor. At the applied conditions, both total and partial oxidation
products were observed, as well as significant amounts of C,Hg and C,H4. The experimental data
were described using a kinetic model consisting of 40 reversible gas-phase reactions between 13
molecular (H,, H,O, H,0,, O,, CH4, C;Hg, CoH4, CoH,, CsHg, CsHg, CH20, CO, and CO,) and 10
radical species (He, Os, OHe, HO,*, CHj*, C,Hs*, C,H3e, CsH7», CH30°, and CHOe¢). The
kinetic rate parameters were obtained from literature and from regression analysis. The most
important initiation, propagation, and termination steps during the initial stage of the reaction are
shown in Table 1. The authors suggested that the gas-phase kinetic model can be used as a tool to

investigate the feasibility of CPO reactors operating at high temperatures and pressures.

Table 1. Predominating radical reactions
during the ignition stage (Berger and Marin,
1999). Conditions: p = 5 bar, T = 1107 K,

CH/0,=2.6
Reaction
CH, + OH’ = CH; +H,0
CH,+HO,” = CH; +H,0,
CH;" + O, = CHO+OH
2CH;+M = (CHsg+M
CH,O+CH;" == CHO +CH,
CHO  +M = CO+H +M
O,+H+M = HO,+M
H,O0, + M = OH +OH +M

Gas-phase reactions are generally suppressed during laboratory experiments by carrying out
the CPO reaction at rather low temperatures and at pressures close to atmospheric conditions.
Also, low reactant partial pressures are applied by diluting the feed mixtures. As indicated
previously, industrial application requires high temperatures and pressures. Dietz III and Schmidt
(1995) therefore investigated the partial oxidation of methane at different total pressures. The
reaction was carried out using Rh coated monoliths at 1273 K, residence times of 10 s, pressures
between 1 and 5 bar, CHy/air and CH4/O, feeds. The experimental results indicated that the
selectivities to CO and H, remained high at increasing pressures. Formation of C,-hydrocarbons,
indicative of gas-phase reactions, was not observed. The authors thus concluded that gas-phase

reactions were not important at the applied reaction conditions. In contrast, Slaa et al. (1997) did



Partial oxidation reactions and reactors — A literature review 27

observe significant formation of C,Hg and C,H,4 during the partial oxidation of methane over 0.3
wt% Rh/Al,0O3 at 1273 K and 4 bar, using 6.7/3.3/90 CH4/O,/He mixtures. However, preliminary
reactor simulations with the slightly modified gas-phase kinetic model of Chen et al. (1994),
obtained at conditions typical for oxidative coupling of methane, indicated that gas-phase
reactions were not important. The authors thus concluded that the products were produced
entirely via heterogeneous reactions on the Rh catalyst. In the absence of helium, however, the

gas-phase model showed that homogeneous reactions occurred to a significant extent.

2.3 Historic background

The work of Prettre et al. (1946) can be considered as a historic benchmark for research on
the catalytic partial oxidation of methane to synthesis gas. The reaction was investigated in a
fixed-bed reactor using a reduced 10 wt% refractory-supported Ni catalyst, at temperatures of
923-1323 K, CH4/O; ratios between 1.7 and 2.0, and atmospheric pressure. The CH,4 conversion
amounted to 96 % with synthesis gas selectivities as high as 97 % at an outlet catalyst bed
temperature of 1173 K. At the investigated conditions, the gas-phase composition at the reactor
outlet agreed well with thermodynamic calculations indicating that thermodynamic equilibrium
was attained in all cases. Measured axial temperature profiles showed that a strongly exothermic

reaction was followed by an endothermic stage, see Figure 1.
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Figure 1. Measured axial temperature profile in a fixed-bed reactor over a 10 wt% refractory-supported
Ni catalyst (Prettre et al., 1946).

The strong increase of the catalyst temperature near the reactor inlet was assigned to
complete combustion of part of the methane. The subsequent endothermic stage was explained on
the basis of reforming reactions of the remaining methane with H,O and CO,, produced in the

combustion reaction. This proposed reaction sequence of combustion and reforming in series is
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generally referred to in the literature as the indirect syngas formation route.

Prettre et al. suggested that kinetic studies of methane partial oxidation are difficult to
conduct as a result of the high reaction rates. Hence, Huszar et al. (1971) investigated the CPO
reaction in a single-pellet reactor, which allowed measuring the corresponding reaction rates.
Experiments were performed with 1-20 wt% Ni-mullite single-pellet catalysts at temperatures of
1033-1173 K using a 25% CHa/air mixture. The principal products of the reaction were H,, CO,
and H,O, even at low conversions. The experimental results indicated that the oxygen conversion
rates were hardly influenced by the catalyst temperature. The authors thus concluded that the
kinetics were determined by diffusion of oxygen across the boundary layer surrounding the
catalyst grain. As a result of these mass-transport limitations, the concentration of oxygen was
very low at the catalyst surface. Consequently, it was suggested that the Ni-catalyst was in the
reduced state during reaction. At high oxygen concentrations, however, the catalyst was found to
deactivate due to oxidation of the Ni metal.

Supported nickel catalysts were also studied by Gavalas et al. (1984). The activity of 6.6
wt% NiO on 0-Al,O3; and ZrO; supports in the fuel-rich oxidation of methane was measured as a
function of time-on-stream using a fixed-bed reactor. The catalyst bed temperature and the
CH4/O; ratio were varied in the range from 910 to 1030 K and 0.8 to 9.0, respectively. The
reactor was operated in the differential mode, with methane conversions of 2% or less. Hence, it
was assumed that the catalyst surface was oxidized at the applied reaction conditions. At a typical
reaction temperature of 983 K and CH4/O, ratios between 0.8 and 5.0, CO, was the only
oxygenated carbon-containing product. At a CH4/O, ratio of 9.0, however, selectivities to CO and
CO, were comparable. The initial activity of the Ni catalyst increased significantly after reduction
in H,. The authors concluded that the activity increase was caused by reduction of NiO to Ni’.
However, the methane consumption rates after reduction decreased with time-on-stream due to
reoxidation of Ni° to NiO.

The group of Green and co-workers initiated renewed interest in methane partial oxidation.
Both rare-earth ruthenium oxides of the pyrochlore type (Ashcroft et al., 1990), and supported
transition metals (Vernon et al., 1990) were studied. Ashcroft et al. (1990) showed that ruthenium
analogues of rare-earth tin oxides, which were shown to be very active for the oxidative coupling
of methane, were also very active and selective for the partial oxidation of methane to synthesis
gas. Both rare-earth Ru oxides, of general formula Ln,Ru,0; (Ln = lanthanide element, e.g. Pr,
Sm, Eu, Gd) and alumina-supported Ru catalysts were investigated. At a catalyst bed temperature
of 1050 K, atmospheric pressure, and with diluted CH4/O,/N, mixtures, methane conversions
above 90 % and synthesis gas selectivities in the range from 95 to 99 % were observed. XPS
analysis of the used rare-earth oxides revealed that partial reduction of the pyrochlores had taken

place. The authors thus concluded that the active component for partial oxidation is metallic Ru.
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Vernon et al. (1990) investigated the activity of supported transition metals (Ni, Ru, Rh, Pd,
Ir, and Pt) at temperatures of 650-1050 K, pressures between 1 and 20 bar, using 2:1:4 CH4/O2/N;
mixtures. The experiments indicated high conversions and synthesis gas yields on most of the
catalysts studied: equilibrium conditions were always established. The results corroborated the
findings of Ashcroft et al. (1990), suggesting that the active phase of the catalyst is the reduced
metal. A CH4/O; ratio of 2.0 was found to give optimum CO and H, yields, as expected from
stoichiometry. The experiments also indicated that synthesis gas production was favored at low
pressure and high temperature, in accordance with thermodynamics. Both Ashcroft et al. (1990)
and Vernon et al. (1990) suggested that the reaction mechanism might involve initial combustion
of part of the methane, followed by a sequence of steam reforming and water-gas shift.

The work of Prettre et al. (1946), Huszar et al. (1971), and Gavalas et al. (1984) covers to a
large extent the research on catalytic partial oxidation in the period up to the 1990’s. The results
of Ashcroft et al. (1990) and Vernon et al. (1990) in particular catalyzed the systematic
investigation of CPO in the past decade. An overview of the corresponding literature will be
presented in the next sections. First, the discussion is centered on fixed-bed reactors, which have
been widely applied in academia. Experimental work on monolith and fluidized-bed reactors will
be presented next. Finally, membrane reactor types for the catalytic partial oxidation of methane
will be discussed.

2.4 Fixed-bed reactors

In the previous section, characteristic features of the catalytic partial oxidation of methane
to synthesis gas were illustrated. The possible occurrence of high catalyst bed temperatures
during indirect CPO over Ni catalysts was indicated. It was shown additionally that high reaction
rates could lead to mass transport limitations, thus complicating kinetic studies. Also, the
oxidation state of the catalyst was found to influence the observed activity and selectivity
considerably. In the past decade, these issues were systematically investigated using fixed-bed
reactors. Supported group VIII metal catalysts (Fe, Co, Ni, Ru, Rh, Pd, Ir, Pt) were analysed in
particular. Comparative studies on the activity of various supported group VIII metals can be
found in Boucouvalas et al. (1996) and Nakagawa et al. (1998). At present, both Ni and Rh-based
catalysts have been identified to be the most promising CPO catalysts. Hence, an overview will
be presented in this section on fixed-bed reactor studies in case of Ni and Rh catalysts.

2.4.1 Ni-based catalysts

In accordance with the work of Prettre et al. (1946), Vermeiren et al. (1992) also observed a

steep temperature profile over the catalyst bed in case of 1 and 5 wt% Ni catalysts loaded on
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AL O3, Si0,/Al,0s, Si10,/ZrO, and H-Y zeolite. Application of the 5 wt% Ni/Al,O5 catalyst, 2:1:7
CH4/Oy/N, feed mixtures, W/Fy, = 2.4 kg s mol'l, and a fixed furnace temperature of 873 K,
resulted in a temperature maximum near the inlet of the catalyst bed of approximately 1000 K.
Support effects were found in case of the 1 wt% Ni catalyst loaded on acidic Si0,/ZrO, and H-Y
zeolite. In the latter cases, lower conversions were found compared to the Al,Os supports.
Thermodynamic calculations indicated that the CPO reaction could be described by the initial
combustion of methane to carbon oxides and water, in combination with the steam reforming and
water-gas shift reactions.

Similar conclusions with respect to the reaction mechanism were drawn by Dissanayake et
al. (1991). The influence of the catalyst bed temperature and oxidation state of a 25 wt%
Ni/Al,O3 catalyst were investigated. At atmospheric pressure, using a 1.8:1:25 CH4/O,/He
mixture, typical hysteresis phenomena were observed when the catalyst bed temperature was

increased, see Figure 2.
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Figure 2. Effect of the catalyst bed temperature on CH, conversion and CO
selectivity over precalcined Ni/Al,O; (Dissanayake et al., 1991). Conditions:
CH /O, = 1.8; Space velocity = 750 h™.

The observed conversions and selectivities were interpreted in terms of different oxidation
states of the Ni catalyst, as determined by XRD and XPS analysis. At temperatures up to 973 K,
low methane conversions were observed, with CO, and H,O as the main products. At these
conditions, the catalyst bed consisted of a NiAl,O4 phase with moderate total oxidation activity.
A sudden transition occurred at 973 K to high conversions with equilibrium selectivities of CO
and H,. At these conditions, a small part of the NiAl,O4 was decomposed near the reactor inlet to
NiO/Al,Os3, due to sufficiently low oxygen partial pressures. Part of the methane was oxidized to
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CO, and H,O on the NiO phase, resulting in a 50 K temperature increase at the reactor inlet. The
remaining CH4/CO,/H,0 mixture consecutively reduced the catalyst bed to Nio, which catalyzed
the reforming reactions to equilibrium. At decreasing catalyst bed temperatures, the Ni” and NiO
zones were progressively reoxidized, causing the observed drop in conversion and selectivity.
Below 723 K, the catalyst bed was reverted completely to the NiAl,O4 phase. In case of reduced
Ni/AL,O5 catalysts, the conversions and selectivities were immediately determined by the high-
activity state as shown in Figure 2.

Choudhary et al. (1992, 1993) reported H, and CO selectivities higher than the
corresponding equilibrium values over NiO loaded on different supports (CaO, Al,Os, and rare
earth oxides). Low catalyst bed temperatures (< 973 K) and short contact times (7 ms) were
applied. Reduced Ni was identified as the active surface for the CPO reaction. The steam and
carbon dioxide reforming rates were found to be small at the applied temperatures. Hence, it was
suggested that synthesis gas was formed directly from methane without formation of CO, and
H,O as primary products. Dissanayake et al. (1993) tested a Ni/Yb,O; catalyst similar to the one
used by Choudhary et al. (1993). Experiments indicated, however, that hot spots could be formed
with temperatures as much as 300 K higher than the measured catalyst bed temperature. It was
thus concluded that the reported deviations from thermodynamic equilibrium probably resulted
from a small hot zone in the reactor and incorrect measurement of the actual temperature.

Hot spot formation was eliminated in the work of Hu and Ruckenstein (1995) by using a
pulse technique, involving very small amounts of reactants. A 20 wt% Ni/La,Os catalyst was
studied, using 2:1 CH4/O;, mixtures, and catalyst bed temperatures of 873 K. At the applied
reaction conditions, conversions and selectivities were significantly lower than the corresponding
equilibrium values. In case of reduced catalysts, the CO selectivity was found to increase at
decreasing residence times. Consequently, it was concluded that CO was the primary product of
the CPO reaction, whereas CO, was generated from CO. A pyrolysis mechanism for methane

partial oxidation at low temperature was proposed, see Table 2.

Table 2. CPO reaction mechanism on Ni/La,0; at 873 K according to Hu and
Ruckenstein (1995).

site+CH,, — CHg, (1) Cg *+O0 — CO — CO, 7)
site+0, - 20 (2)  COy +O0) - COyy — COsyy  (8)
CHye - CHze +H)  (3)  Hgy +Hy - Hy ©)
CHj) - CHy +H (4) Hg +0) - OHy (10)
CHyy — CHy +Hg  (5)  OHg) +Hy, — H,y0( (11)
CH - C( +Hy, (6) H,04 - Hy0 (12)
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Direct formation of CO was also suggested by Lemonidou et al. (1997) and Drago et al. (1998),
using 0.5 wt% N1/CaO[2Al,03 and 10 wt% NiO/SiO; catalysts, respectively.

The tendency for coke deposition is generally considered to be the main drawback in the
application of supported Ni catalysts. Carbon deposition can lead to rapid catalyst deactivation,
whereas whisker-carbon formation can result in reactor plugging. Claridge et al. (1993) indeed
reported that Al,O3 supported Ni catalysts displayed considerably higher carbon deposition rates
compared to supported noble metal catalysts. Hence, many studies have been conducted in the
past decade to develop supported Ni catalysts with high resistance to coke formation. Tang et al.
(1998) and Ruckenstein and Hu (1999) reported that NiO/MgO catalysts showed high activity
and selectivity with very low carbon deposition rates. It was suggested that the formation of a
NiO/MgO solid solution suppressed the agglomeration of small Ni particles to large crystallites,
which are generally susceptible to carbon deposition. Nakagawa et al. (1999) investigated a
bimetallic Ir-Ni/La,O; catalyst with low metal loadings, 0.25 and 0.5 wt%, respectively. As a
result of the low Ni content, carbon deposition could be suppressed effectively. Despite the low
Ni content, the activity remained sufficiently high by addition of highly active Ir. Recently, Ito et
al. (1999) proposed a carbon deposition/removal procedure for supported Ni catalysts, which
resulted in very low carbon deposition rates with minor influences on the catalytic activity. The
procedure was based on the hypothesis that Ni sites, active for whisker-carbon formation, are

different from catalytically active Ni sites and can be effectively removed.

2.4.2 Rh-based catalysts

In contrast to supported Ni catalysts, Rh-based catalysts display both high activity and
stability during the catalytic partial oxidation of methane to synthesis gas. Rh catalysts also
showed the highest resistance to carbon formation (Claridge et al., 1993). As indicated in section
2.3, Vernon et al. (1990) studied synthesis gas formation over a 1 wt% Rh/Al,O; catalyst.
Equilibrium conversions and synthesis gas selectivities were generally established. It was
suggested that the reaction mechanism involved total oxidation of part of the methane, followed
by steam reforming and water-gas shift reactions. Boucouvalas et al. (1994) also proposed the
indirect CPO reaction mechanism in case of 0.2 and 0.5 wt% Rh/y-AL,O3 catalysts at
temperatures between 723 and 973 K. Both the CO and H; selectivities were found to increase at
increasing space times, suggesting the sequence of total oxidation and reforming reactions.

Buyevskaya et al. (1994) and Walter et al. (1994) studied the reaction mechanism over a 1
wt% Rh/y-Al,O5 catalyst using the Temporal Analysis of Products (TAP) setup and diffuse
reflectance infrared spectroscopy (DRIFTS). The TAP investigations at 1013 K revealed that the
product distribution strongly depended on the degree of surface reduction: the CO production
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rates increased at higher degree of Rh reduction. CO, and H,O were observed as primary
products from the interaction of CH4 with oxidized Rh sites. Methane dissociation also occurred
on reduced Rh, resulting in adsorbed carbon species and H,. The formation of CO proceeded with
high selectivity, up to 96%, at 1013 K via a fast reversed Boudouard reaction of surface carbon
with CO,. The proposed reaction mechanism, see Figure 3, was supported by the DRIFTS studies
at 973 K. DRIFT studies also showed that OH groups from the support were involved in the

conversion of CHy.
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Figure 3. Scheme of surface reaction steps in the partial oxidation of methane over Rh/y-Al,O; derived
from TAP and DRIFTS studies (Walter et al., 1994)

In contrast, Mallens et al. (1997) reported that both CO and H, were the primary products
of the CPO reaction over a Rh-sponge catalyst at temperatures between 873 and 1023 K. The
TAP investigations revealed the presence of two types of oxygen: chemisorbed oxygen and Rh-
oxide, i.e. RhyO;. The formation of Rh,O; was confirmed by thermodynamic calculations. At
catalyst bed temperatures of 973 K, Rh was mainly in the reduced state. Methane dissociation
occurred on reduced Rh sites and resulted in the formation of adsorbed carbon and hydrogen
adatoms. Hydrogen was formed via associative desorption of hydrogen adatoms, whereas the
reaction between adsorbed carbon species and Rh,O; resulted in CO production. Formation of
CO, proceeded via consecutive oxidation of CO with both chemisorbed oxygen and Rh,O3. A
Mars-Van Krevelen reaction mechanism for synthesis gas formation was proposed: CH,4 reduced
the Rh-oxide, which was subsequently reoxidized by gaseous O,, see Table 3. Mallens et al.
clearly obtained different results with respect to the primary products compared to the work of
Buyevskaya et al. (1994). It was suggested that the y-Al,O; support in the latter work was

probably not inert at reaction conditions, and might have catalysed the total oxidation reactions.
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Table 3. Mars-van Krevelen mechanism for
synthesis gas formation over a Rh-sponge
catalyst at 930-1073 K (Mallens et al., 1997).

o
CH g +5% — C*+4H* 2
C*+Rh,O - Rh} +CO,, +* 2
O, +2Rh) - 2Rh, 0 1
2H* - Hy,) +2% 4
2CH, +0, - 2CO+4H,

Slaa et al. (1997) studied mechanistic aspects of methane partial oxidation on a 0.3 wt%
Rh/a-Al,O5 catalyst at temperatures above 1273 K and pressures up to 8 bar. High temperatures
were applied in order to avoid carbon formation and to obtain high equilibrium selectivities to
CO and H,. Intrinsic kinetic data were obtained when the feed was diluted with helium. The
experimental results indicated that the observed product distribution depended strongly on the
oxidation state of the Rh catalyst. At low oxygen conversions, i.e. in the oxidized state, CO,,
H,0, and C,H¢ were identified as the primary products. Significant amounts of CO, H,, and C,Hy
were found at increasing oxygen conversions. High selectivities to CO and H, were obtained at
complete oxygen conversion, i.e. in the reduced state of the catalyst. The observed trends in
conversions and selectivities at low oxygen conversions were also found in case of experiments
with the a-Al,O3 support alone.

The work of Buyevskaya et al. (1994), Walter et al. (1994), and Slaa et al. (1997) clearly
illustrated that the applied supports are not completely inert at the investigated reaction
conditions. Wang et al. (1996) and Tian et al. (1999) showed that Al,O3; supports can act as
additional oxygen source through the inverse spillover of water or hydroxyl species onto the Rh
particles. Heitnes Hofstad et al. (1998) indicated that introduction of Al,Os3 supports resulted in
faster formation of oxygenated products over Rh. Also, the time required to obtain a completely
reduced catalyst significantly increased with Al,O3; supports. Recently, Wang and Ruckenstein
(1999) studied the activity and stability of 1 wt% Rh supported on MgO and SiO,. At 1023 K and
atmospheric pressure, the Rh/MgO catalyst displayed high and constant activity and selectivity
during 100 h of operation. The Rh/SiO, catalyst, however, deactivated rapidly due to carbon
deposition. It was suggested that the strong interactions between Rh and MgO, especially the
formation of MgRh,04, were responsible for the high stability of the MgO-supported catalysts.
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2.5 Monolith reactors

Noble metal-coated monoliths are extensively used in the automotive catalytic converter for
the removal of NO, CO, and hydrocarbons from exhaust gases. In the past decade, the monolith
reactor has also been recognized as a suitable catalyst configuration for the catalytic partial
oxidation of methane to synthesis gas. Monoliths have a large surface-to-volume ratio compared
to catalyst particles, indicating that the required reactor volume can be significantly reduced. In
addition, high flow rates can be realised without large pressure drop in extruded and structured
monoliths. Hence, monoliths are particularly suitable to study fast and exothermic oxidation
reactions, since high flow rates result in high mass and heat transfer rates.

Korchnak et al. (1990) proposed a pilot-scale catalytic partial oxidation reactor consisting
of noble metals supported by an alumina washcoat on cordierite extruded monoliths. Residence
times of ~40 ms were required to obtain essentially complete conversion of methane. Hochmut
(1992) used the design proposed by Korchnak et al. (1990) to investigate synthesis gas formation
on a laboratory scale at high temperatures, 1000 < T <1200 K, and pressures between 22 and 31
bar. Monoliths containing 300 pores per square inch (300 ppi) were coated with a 1:1 weight ratio
of Pt/Pd on a ceria stabilized y-Al,O3; washcoat. The measured product concentrations in case of
CH4/0,/H,0 feed mixtures closely corresponded to the equilibrium values. Analysis of the axial
concentration and temperature profiles revealed that methane initially reacted with oxygen
towards CO, CO,, and H,O, resulting in a large temperature exotherm. Reforming and water-gas
shift reactions occurred downstream of the hot spot, resulting in a continuous temperature
decrease.

Schmidt and co-workers intensively investigated synthesis gas production in monolith
reactors. Hickman and Schmidt (1992) first reported experimental results obtained with Pt and Pt-
Rh coated foam and extruded monoliths, as well as with Pt-10%Rh gauzes. The reactors were
operated autothermally, i.e. without external heat input, at space times between 10™ and 107 s
and atmospheric pressure. In case of CHs/air mixtures, H, and CO selectivities of respectively 50
and 95 % were found with Pt-Rh coated monoliths, at 80 % CH4 conversion and outlet
temperature of 1373 K. The oxygen conversion was always complete. At flow rates high enough
to minimize mass-transfer limitations, the gauze catalyst as well as the foam and extruded
monoliths resulted in similar conversions and selectivities. The product gas compositions did not
correspond to the thermodynamic equilibrium values: the approach to equilibrium, however, was
significantly accelerated by preheating the feed and by operating with pure oxygen. The applied
space times allowed to investigate the CPO reaction independent of the reforming and water-gas
shift reactions. Hence, high synthesis gas selectivities at short space times indicated that CO and
H, were the primary products of the CPO reaction. Primary formation of CO and H, was also

confirmed during experiments with the Pt-10%Rh gauze at different space times: the selectivities
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increased at decreasing space time. Methane pyrolysis, CH4y — C + 4H, from which H, desorbs
and C is oxidized to CO, was considered to be the primary surface reaction.

Hickman et al. (1993) also compared 11.6 wt% Pt and 9.8 wt% Rh coated foam monoliths
at identical space times. The experimental results showed that Rh was superior to Pt in producing
H,. In case of room temperature feed, Pt monoliths resulted in S(H,) = 43 % and S(CO) = 89 %,
whereas Rh gave S(H,) = 73 % and S(CO) = 90 %. Also, higher methane conversions were found
with Rh monoliths compared to Pt. The large difference in H, selectivity was explained by a
higher activation energy for OH formation on Rh compared to Pt, see Figure 4. As a result,
hydrogen adatoms are more stable on the Rh surface and can recombine towards H, and desorb
into the gas phase. Higher conversions on Rh were caused by a lower methane activation energy
compared to Pt. With oxygen instead of air and feed temperatures of 733 K, optimum selectivities
to CO and H; of 96 and 90 % were found in case of Rh.
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Figure 4. Potential energy diagrams for methane partial oxidation on Pt and Rh catalysts (Hickman and

Schmidt, 1993). The activation energies were calculated relative to gaseous methane and oxygen.
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Based upon previous work, Hickman and Schmidt (1993) proposed elementary step kinetic
models for methane partial oxidation on Pt and Rh catalysts. Adsorption, desorption, and surface
reactions were taken into account, with rate parameters obtained from literature and from fits to
experiments. The model predictions were consistent with the experimental results, thereby
confirming the direct oxidation mechanism in case of the monoliths. The difference between Pt
and Rh catalysts, as illustrated above, could be explained by comparing individual surface
reaction steps.

Different group VIII metal coated monoliths (Rh, Pt, Pd, Ir, Ni, Fe, Co, Re, and Ru) were
investigated by Torniainen et al. (1994). The highest conversions and selectivities were found in
case of Rh and Ni. The Rh coated monoliths showed stable performance for several hours,
whereas the Ni coated monolith deactivated due to metal evaporation and formation of NiO and
NiAl,O4. Pt and Ir also showed high stability, but significantly lower conversions and
selectivities compared to Rh catalysts. Rapid deactivation was also observed in case of Pd coated
monoliths as a result of coke deposition. Finally, Fe, Re, and Ru catalysts could not sustain the
CPO reaction at the applied conditions. The authors thus concluded that Rh-based catalysts were
the most suitable for synthesis gas production. Bodke et al. (1998) showed that H, selectivities on
Rh monoliths could be further improved by addition of a washcoat. Also, it was found that small
monolith pore sizes enhanced the selectivities: S(H;) = 83 % on 20 ppi monoliths, increasing to
95 % on 80 ppi catalysts. The latter results were explained on the basis of differences in mass
transfer rates. Finally, ZrO, monoliths gave slightly better performance than Al,Os.

In contrast to the work of Hickman and Schmidt (1992) and Hickman et al. (1993), Heitnes
et al. (1994) showed that synthesis gas formation on Pt and Ni coated monoliths followed the
indirect combustion/reforming mechanism. The CPO reaction was investigated using 5 wt% Ni
and 1.5 wt% Pt supported by a y-Al,O3; washcoat on cordierite extruded monoliths. Atmospheric
pressure experiments were carried out at furnace temperatures of 873-1173 K, using 2:1:4
CH4/O,/He feed mixtures, and space times between 0.005 and 0.2 s. Equilibrium product
distributions were obtained, except at very low space times. Measured axial temperature profiles,
see Figure 5, showed a large temperature maximum at the reactor inlet, followed by a
temperature decrease. Hence, the indirect CPO reaction mechanism was suggested. It should be
noted, however, that the corresponding temperature profiles were obtained at space times
considerably higher than the values applied by Schmidt and co-workers.
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Figure 5. Axial temperature profiles over the Ni monolith at different furnace temperatures (Heitnes et al.,
1994). The vertical lines indicate the position of the monolith reactor. Conditions: CH,/Oy/He = 2:1:4,

space time = 0.17 s.

Heitnes Hofstad et al. (1996) also investigated the performance of a single Pt gauze catalyst
at space times of approximately 10™ s. At the applied conditions, oxygen was only partly
consumed, and CO, CO,, and H,O were the main products. Very low selectivities to H, were
observed. The reactant conversions were found to be independent of temperature, indicating that
mass transport limitations were important. Both the H, and CO selectivities increased at
increasing catalyst temperatures. The oxygen conversions increased significantly with time-on-
stream, which was attributed to oxidation reactions on Pt, deposited downstream of the gauze
catalyst due to Pt volatilization. The authors tentatively assumed that CO is a primary product of
the CPO reaction, since high CO selectivities were observed at low space times.

Different group VIII metal gauzes (Pt, Pt-5%Rh, Pt-10%Rh, Pt-10%Ir, and Pd) were
studied by Fahti et al. (1998). The experiments were carried out at 1 bar and temperatures
between 973 and 1373 K, using CH4/O,/Ar feed. Pd gauzes deactivated rapidly at the applied
conditions due to PdO formation. High selectivities to CO were observed at high temperatures:
S(CO) =95 % at 1373 K in case of Pt-10%Rh. The gauze catalysts alloyed with Rh also showed
the highest stability. In accordance with the work of Heitnes Hofstad (1996), the selectivity to H»

was always rather low, typically below 30 % at conditions of incomplete oxygen conversion.
2.6 Fluidized-bed reactors

The fluidized-bed reactor for synthesis gas production is mentioned in the literature as a
reactor concept with inherent advantages over conventional fixed-bed reactors. The intensive
axial and radial mixing of solids can result in isothermal reactor operation, due to thermal
coupling of exothermic oxidation and endothermic reforming zones during indirect CPO.
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Pressure drop in fluidized-bed reactors is substantially lower compared to fixed-bed reactors of
the same length and diameter. Also, carbon deposition can be minimized to a large extent:
catalyst particles in the reforming zone are transported to the oxygen-rich oxidation zone where
carbon deposits are burnt off.

Bharadwaj and Schmidt (1994) studied methane partial oxidation in autothermal fluidized
bed reactors at atmospheric pressure using CHy/air feed mixtures. The applied catalysts consisted
of attrition resistant 100 um Al,O; particles coated with Pt, Rh, or Ni. The reactors were operated
close to the turbulent regime: a maximum temperature difference over the catalyst bed of 50 K
was found. At temperatures of 973-1073 K and residence times between 0.1 and 0.5 s,
conversions in excess of 90 %, and CO and H; selectivities as high as 95 % were observed on Rh
and Ni catalysts. In case of supported Pt, significantly lower conversions and selectivities were
found, probably caused by higher oxidation and lower reforming rates. Although Rh and Ni
resulted in similar conversions and selectivities, Rh was considered to be the optimum catalyst
since Ni tends to be oxidized and volatilized at high temperatures.

Axial temperature profiles in fluidized-bed reactors were investigated in detail by Santos et
al. (1994). The CPO reaction was studied using a NiO/NiAl,O4 catalyst at temperatures of 973-
1173 K and a 2:1:1 CH4/O,/N; feed. Equilibrium product compositions were obtained without
significant carbon formation. Essentially isothermal operating conditions were achieved with a
maximum temperature difference of approximately 10 K, see Figure 6. Low temperatures and
catalyst entrainment in the disengagement zone above the fluid bed resulted in methane
production via the reverse steam-reforming reaction. Olsbye et al. (1997) showed, however, that
the latter effect could be minimized to a large extent by using catalysts with low Ni loading,
without loss of activity.
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Figure 6. Axial temperature profiles in a fluidized-bed reactor at four different temperature setpoints
(Santos et al., 1994).
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Pugsley and Malcus (1997) proposed an internally circulating fluidized bed (ICFB) reactor
for the partial oxidation of methane. In this reactor concept, the catalyst is transported vertically
upward in a riser. Upon exiting the riser, the catalyst is separated from the gas and recirculated to
the base of the riser. The ICFB reactor combines the advantages of both fixed-bed and bubbling
fluidized-bed reactors for the CPO reaction: high throughputs can be realised, resulting in short
space times, whereas the solids circulation promotes isothermal operation. Reactor simulations
indicated that equilibrium conversions of methane could be obtained at high solid mass fluxes.
Recently, Marschall and Mleczko (1999) investigated a laboratory-scale ICFB reactor. Both 1
and 5 wt% Ni-Al,Os catalysts were studied at 1073 K and residence times varying from 0.07 to
0.24 s. Methane conversions and syngas selectivities in the range of the thermodynamic
equilibrium values were obtained. Measured axial temperature profiles in the riser indicated
isothermal reactor operation. However, the catalyst stability was influenced significantly by
carbon deposition. On-line regeneration of the Ni catalyst by introducing carbon dioxide into the
annulus surrounding the riser reactor was therefore proposed. The authors also indicated that a
laboratory ICFB reactor can be scaled up in a straightforward way by applying the direct scale-up

concept of multitubular reactors.

2.7 Membrane reactors

The catalytic partial oxidation of methane to synthesis gas for downstream production of
methanol or liquid fuel requires high operating pressure in order to be commercially viable. At
high pressures, however, thermodynamics predict significantly lower methane conversions
compared to atmospheric conditions. For instance, the equilibrium conversion for a 2:1 CH4/O,
mixture is close to 80 % at 973 K and 1 bar, whereas at 20 bar the equilibrium conversion drops
to 40 %. Also, oxygen-containing feeds are preferred over CHa/air mixtures from industrial
standpoint since downstream processing requires nitrogen-free product streams. Cryogenic
oxygen separation from air, however, would add considerably to the total cost of the partial
oxidation process. Novel reactor concepts have therefore been proposed in the literature to
overcome the latter limitations. Hydrogen permeable membrane reactors have been investigated,
which increase the methane conversions by a favorable shift in the thermodynamic equilibrium.
Also, oxygen-transporting membranes have been proposed to eliminate the need for an oxygen

separation plant by performing the oxygen-nitrogen separation inside the CPO reactor.

2.7.1 Hydrogen-permeable membrane reactors

Santos et al. (1995) performed experiments using a two-zone fixed-bed reactor containing a

10 wt% Ni/Al,Os5 catalyst inside a ceramic membrane, see Figure 7. The first zone of the reactor
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was surrounded by an impervious wall, and correspondingly behaved as a conventional fixed-bed
reactor. This impervious wall was applied to achieve sufficiently high concentrations of the
reaction products. In the second zone, hydrogen could permeate preferentially through the
ceramic membrane, and was removed with nitrogen containing sweep gas. A comparison of
conventional fixed-bed reactors and fixed-bed membrane reactors was presented. At 1073 K and
atmospheric pressure, using 2:1:1 CH4/O,/N, mixtures, the methane conversion in the fixed-bed
reactor amounted to an equilibrium value of 96 %, whereas the conversion in the membrane
reactor amounted to 98 %. At 2 bar pressure, the increase of the methane conversion in the
membrane reactor was more pronounced: the experimental values were close to the equilibrium

values at 1 bar pressure.
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Figure 7. Schematic of the membrane reactor applied by Santos et al. (1995)

Kikuchi and Chen (1998) also studied the CPO reaction in a fixed-bed membrane reactor,
using a 1 wt% Rh/AlL,O; catalyst. The catalyst bed was completely surrounded by a palladium
membrane in the applied reactor setup. Conversions and selectivities in both conventional fixed-
bed reactors and fixed-bed membrane reactors were reported, see Figure 8. The potential of fixed-
bed membrane reactors was clearly illustrated: the methane conversions and product selectivities
were significantly higher than the corresponding equilibrium values obtained in the fixed-bed
reactor.

Mleczko et al. (1996) proposed a fluidized-bed membrane reactor to achieve both high
methane conversions at elevated pressures and isothermal operating conditions. Simulation
results indicated that higher methane conversions and synthesis gas yields could be obtained in
the fluidized-bed membrane reactor compared to fixed-bed reactors at identical space times.
Ostrowski et al. (1997) therefore investigated the potential of fluidized-bed membrane reactors
for synthesis gas production on a laboratory scale. A single ceramic membrane tube was inserted
into the fluidized bed reactor. At 1023 K and 1 bar pressure, using a Ni/Al,O; catalyst, stable and

isothermal reactor operation was obtained. The methane conversions, however, hardly improved
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in the membrane reactor despite the high separation selectivity. The authors therefore suggested

that membranes with even higher separation selectivity should be applied.
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Figure 8. Conversion of methane vs. space time in a conventional fixed-bed reactor and a fixed-bed
membrane reactor (left panel), and selectivities to CO, CO, and coke vs. methane conversion (right
panel). Conditions: T =773 K; air/CH,; = 2.5. Open symbols: membrane reactor; Closed symbols: fixed-

bed reactor.

2.7.2 Oxygen-transporting membrane reactors

Dense perovskite-type oxides have been proposed in the literature as effective oxygen-
permeating membranes (Balachandran et al., 1995, Tsai et al., 1997). An oxygen-conducting
membrane reactor, in which air separation and methane partial oxidation were carried out
simultaneously, was investigated by Tsai et al. (1997). Three different reactor configurations
were applied, containing disk-shaped perovskite membranes, see Figure 9. The membranes were
located in the centre of the reactor: CH4/He mixtures were fed at the top, whereas air was
introduced in the bottom part of the reactor. In the absence of a catalyst, CO, and H,O were the
main products at a membrane temperature of 1123 K. The deep oxidation products could be
reformed to synthesis gas when a Ni/Al,Os catalyst was added downstream. The highest methane
conversions and product selectivities were observed when the Ni catalyst was stacked directly on
top of the membrane: X(CH4) = 80 %, S(CO) = 95 %, Ho/CO = 2. The applied membrane

reactors were found to be stable for at least 850 h time-on-stream.
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Figure 9. Disk-shaped perovskite membrane reactors applied
by Tsai et al. (1997). Conditions: T(membrane) = 1123 K.

2.8 CPO research in industry

At present, industry is closely involved in the development of gas-to-liquids technology
(Exxon, Rentech, Shell, Syntroleum) and hydrogen production for fuel-cell-powered vehicles
(Shell, Daimler Benz). Synthesis gas production via catalytic partial oxidation is expected to
result in major cost reductions compared to established syngas processes. Industrial focus on
CPO as a novel and economic route towards synthesis gas is clearly evidenced by the significant
number of patents issued by for instance Exxon and Shell. In this section a short overview of
CPO research in industry will therefore be presented.

Already in 1989, Exxon issued a patent on a fluidized-bed reactor for synthesis gas
production (Goetsch and Say, 1989). The fluidized-bed reactor was selected because of the
excellent mixing characteristics and high heat-transfer rates. The reactor was operated at about
1273 K, pressures up to 40 bar, methane/steam ratios of 1.5-2.5, and methane/oxygen ratios of
1.7-2.5, using a typical Ni/Al,O; catalyst. Methane and steam were fed to the base of the
fluidized-bed reactor while oxygen was fed in the middle of the fluidized bed to avoid premixing.
Catalyst attrition, resulting in the deposition of catalyst fines in the cool sections of the
equipment, was found to be a significant problem. Small catalyst particles in cool sections can
promote methanation of CO and H; as well as carbon deposition due to the Boudouart reaction.
To avoid methanation and carbon deposition, a process design was proposed in which the syngas
product stream was rapidly quenched to low temperatures. At temperatures below 773 K, both
methanation and carbon deposition did not occur to a significant extent. The design of coupled
fluidized-bed and heat exchanger resulted in slightly lower than 90% methane conversion and

equilibrium synthesis gas yields.
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Exxon also reported on the application of the previously mentioned syngas preparation
process in large pilot plant units (appr. 100 bbl/day) for the production of liquid hydrocarbons
(Eisenberg et al., 1998). The fluidized-bed reactor is coupled to a slurry reactor containing a
cobalt catalyst in which synthesis gas is converted to normal paraffins. The product slate contains
substantial amounts of high boiling material which can be isomerized consecutively in a fixed-
bed or trickle-bed reactor to slightly isomerized analogues. The final product is typically a
mixture of diesel and naphtha. The diesel product fraction has a very low sulphur content, and
can approach 80% of the total plant output.

Shell has pioneered the GTL process with a 12.500 BBP middle distillates plant in Bintulu
Maylasia. Synthesis gas is produced in this plant via a high temperature non-catalytic gasification
reactor. Considerable attention has also been directed towards the development of catalytic partial
oxidation processes for syngas production. The patents issued by Shell illustrate the activities in
the field of CPO at industrially relevant conditions, i.e. at high temperatures and pressures. At
these conditions, it is recognized that formation of nitrogen containing products, e.g. NH3 and
HCN, can adversely affect downstream Fischer-Tropsch hydrocarbon synthesis or methanol
production.

A process design was proposed (De Jong et al., 1993) for the production of synthesis gas
with subsequent removal of NH3; and HCN. The syngas production stage was based on a reactor
with supported Rh or Ir catalysts, which were found to give significantly less nitrogen containing
products compared to Ru. The process was operated at temperatures between 1000 and 1200 °C,
methane-to-oxygen ratios between 1.3 - 2.2, and pressures between 3 and 100 bar. Ceramic foam
monolith reactors were preferred since high conversions can be obtained in this configuration at
very short contact times. A process design incorporating a packed liquid adsorption column and a
secondary activated charcoal adsorber was proposed for syngas processing with trace amounts of
NH;3; and HCN. In a separate patent (De Jong et al., 1994) it is additionally indicated that the
presence of sulphur containing components can reduce the formation of nitrogen products even
further. When the CPO reactor is used in conjunction with a Fischer-Tropsch process, however,
sulphur removal via active carbon or zinc oxide is necessary.

Shell also proposed a novel process scheme for gas-to-liquids (Geerlings et al., 1998). The
process is based on C;-C,4 feed streams, preferably containing at least 75 % of methane. The CPO
unit is a monolithic type reactor (zirconia carrier) preferably coated with Rh or Ir. Oxygen
enriched air is used as oxidant, produced from a membrane based air separation process. Syngas
production is carried out between 1123 and 1323 K and pressures between 20 and 40 bar. The
product stream is cooled to temperatures between 323 and 373 K before passing through a cobalt-
based fixed-bed Fischer-Tropsch reactor. Typical temperatures of this reactor are in the range
from 453 to 543 K with pressures of 10 to 70 bar. Approximately 70 wt% of Cs-C, linear
paraffines are produced: the heavy paraffines can optionally be hydrocracked to middle
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distillates. Also, other process layouts involving CO and H, recycle streams were proposed for

more flexibility and improved carbon efficiency.

2.9 Conclusions

Catalysts The potential of synthesis gas production via catalytic partial oxidation of
methane has been demonstrated unambiguously on a laboratory scale using different group VIII
metal catalysts, atmospheric operation conditions, and temperatures above 1000 K. Both
supported Ni and Rh presently appear to be the most promising catalysts. Ni-based catalysts
result in high conversions and synthesis gas yields, but suffer from catalyst deactivation due to Ni
oxidation and carbon deposition. Recent developments showed, however, that careful selection of
the catalyst support could reduce the coke deposition rates to a considerable extent. Rh catalysts
display both high activity and selectivity: the high cost and limited availability of the noble metal

will probably determine whether commercial application is viable.

Reactors Different reactor concepts have been applied to investigate the feasibility of
methane partial oxidation. Fixed-bed CPO reactors were used extensively due to operational
flexibility and straightforward design. However, application of fixed-bed reactors appears to be
limited to low pressures, due to the possible occurrence of hot spots in the catalyst bed. Fluidized-
bed reactors appear to be more promising in this respect, since isothermal operating conditions
can be obtained. Nevertheless, scale-up issues will have to be dealt with. Noble-metal-coated
monolith reactors were shown to be highly active and selective at high temperature conditions
and short residence times. Hence, this reactor concept appears to be the most promising for the
production of large amounts of synthesis gas in compact reactors. In addition, successful pilot-
scale operation has been demonstrated. Finally, membrane reactors were shown to have great
potential to overcome the thermodynamic limitations of CPO at elevated pressures. The stability

of membranes at high pressures and temperatures remains to be investigated in more detail.

Kinetics Kinetic studies revealed that the reduced metals in the catalyst are the active
species for the CPO reaction. The reaction mechanism was found to depend primarily on the
applied reaction conditions. At space times sufficiently high to obtain equilibrium methane
conversions and synthesis gas selectivities, the indirect CPO reaction mechanism seems to prevail
on Ni and Rh catalysts. At very short space times, however, Rh catalysts were found to give high
non-equilibrium conversions and selectivities. In the latter case, direct formation of synthesis gas
was proposed. The work on catalytic partial oxidation reported in the literature was mainly
carried out at atmospheric pressure. Development of high-pressure CPO reactors still requires
considerable attention to ensure complete heterogeneous production of synthesis gas in the

absence of homogeneous gas-phase reactions.
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2.10 Relation to present thesis

The research described in this thesis concerns kinetic investigations using noble metal
catalysts, e.g. Pt and Rh, as well as fixed-bed reactor simulations using Ni-based catalysts.
Kinetic investigations clearly remain essential, considering the ongoing debate with respect to the
CPO reaction mechanism and the impact of the reaction mechanism on reactor operation. Reactor
simulations are required to investigate the feasibility of CPO reactors at conditions which cannot
be realised safely in a laboratory. Most kinetic studies indeed have been carried out
conservatively, i.e. at atmospheric pressure and low catalyst temperatures.

Experimental studies reported in the literature were generally carried out at high reactant
conversions. A clear distinction between direct and indirect synthesis gas production routes,
however, requires experimental data at low oxygen conversions. The research described in this
thesis therefore focuses on experimental investigations at low conversion levels. In Chapter 3, a
kinetic study is presented using a 0.3 wt% Rh/a-Al,Os catalyst in a fixed-bed reactor. Oxygen
conversions in the range of 0 — 100 % could be obtained by careful selection of the operating
conditions. In addition, Chapters 4 and 5 report on an experimental reactor, containing a single Pt
gauze catalyst, which allowed to investigate the CPO reaction at very low oxygen conversions.
Low conversions could be obtained by applying high reactant flow rates, which could be realised
in this reactor setup without large pressure drop.

Careful measurement of the catalyst temperature is essential in kinetic investigations.
Formation of hot spots (Choudhary et al., 1992, 1993) can lead to different conclusions with
respect to the reaction mechanism. Hu and Ruckenstein (1995) suppressed hot-spot formation in
the reactor by using a pulse technique, involving very small amounts of reactants. The gauze
reactor which was applied in the present thesis was constructed in such a way that the catalyst
temperature could be measured directly, by means of a spotwelded thermocouple. Measurements
of both gas-phase and catalyst temperatures indeed indicated that significant heat-transport
limitations can occur at the applied conditions.

The relevance of homogeneous gas-phase reactions was discussed in section 2.2.2. Gas-
phase reactions were generally suppressed during kinetic studies reported in the literature by
performing experiments at rather low temperatures and at pressures close to atmospheric
pressure. The kinetic study presented in Chapter 3, however, was carried out at conditions as
close as possible to the industrially desired values, i.e. at high temperatures and pressure. Since
homogeneous reactions can become important at these conditions, both homogeneous and
heterogeneous reactions were investigated. The influence of gas-phase reactions in fixed-bed

reactors operating at industrial conditions will also be addressed in Chapter 6.
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Partial oxidation of methane over Rh/a-Al,0O3 —
Relative importance of heter ogeneous catalytic and
homogeneous gas-phase reactions at low conversions

This chapter has been submitted for publication in App. Catal. A

Abstract - The catalytic partial oxidation (CPO) of methane to synthesis gas was studied
using a 0.3 wt% Rh/a-Al,O; catalyst. Specia attention was paid to the relative importance of
homogeneous gas-phase reactions and heterogeneous catalytic reactions at low oxygen
conversions. Homogeneous gas-phase reactions and heterogeneous catalytic reactions were
investigated in a continuous-flow reactor setup at temperatures between 1273 and 1345 K and
pressures between 400 and 800 kPa, using 6.7/3.3/90 CH,/O./He feed mixtures. At these
conditions, both partial and total oxidation products as well as C,-hydrocarbons were
observed. An accurate description of the homogeneous gas-phase experiments was obtained
with a kinetic model consisting of 40 reversible gas-phase reactions. Heterogeneous
termination reactions could be neglected at the investigated surface area to volume ratio. In
case of the a-Al,O5; support alone, homogeneous gas-phase reactions contributed at least 50%
to the measured conversions. Production of Cyhydrocarbons occurred primarily via
homogeneous gas-phase reactions. Comparison of conversions obtained with the a-Al,Os
support done and with the Rh/a-Al,O; catayst indicated that both homogeneous gas-phase
reactions and heterogeneous catalytic reactions were important in case of the Rh catalyst. The
product yields measured with the a-Al,O; support and Rh/a-Al,O; catalyst showed that the
latter is primarily active towards total oxidation of methane at 1345 K. At 1273 K, however,
Rha-Al,0; aso catalyzes the direct partial oxidation of methane to synthesis gas.

Keywords: Partial oxidation; synthesis gas; Rh/a-Al,Os; Catalytic reactions,
Gas-phase reactions
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3.1 Introduction

Synthesis gas production via catalytic partia oxidation (CPO) of methane has
developed into an important research area in the past decade as a result of the growing
interest in natural gas conversion into liquid products and hydrogen-for-fuel-cells. The
potential of the CPO reaction is reflected by the mild exothermicity and the favorable H,/CO
ratio of the product compared to the conventional steam-reforming process. Both Ni-based
catalysts and noble-metal based catalysts have been mentioned in the literature to be active
and selective towards partial oxidation. In particular, Rh catalysts have been reported to give
high synthesis gas yields with good long-term stability (Vernon et al., 1990).

The mechanism of the catalytic partial oxidation of methane on Rh catalysts has been
investigated extensively in the literature. Specia attention has been paid to the influence of the
state of the catalyst, the available surface oxygen species, and the role of the support (Mallens et
a., 1997, Au and Wang, 1997, Heitnes Hofstad et al., 1998, Tian et a., 1999). However, find
agreement on the reaction mechanism has not been reached yet. At short residence times, direct
CPO mechanisms have been proposed, yielding synthesis gas in a single step (Hickman and
Schmidt, 1993, Mallens et a., 1997). Indirect CPO reaction mechanisms, in which synthesis gas
is produced viatotal oxidation and reforming in series, have also been suggested (Vernon et al.,
1990, Boucouvalas et al., 1994, Wang et al., 1995).

Most kinetic studies have been performed at relatively low temperatures and operating
pressures. In our laboratory, however, methane partial oxidation has been studied on a 0.3
wt% Rh/a-Al,O; catalyst at conditions as close as possible to those industrialy relevant:
pressures up to 800 kPa and temperatures above 1273 K (Slaa et al., 1997). Intrinsic kinetic
data were obtained when the feed was diluted with helium. The experimental results indicated
that the Rh catalyst could be present in two states: a low-activity oxidized state, and a high-
activity reduced state. At low oxygen conversions, i.e. in the oxidized state, CGHg, CO,, and
H,O were observed as the primary products. Significant amounts of CO, H,, and GH, were
found at increasing oxygen conversions. At complete oxygen conversion, i.e. in the reduced
state of the Rh catalyst, CO and H, were formed selectively by reforming of CH4 with CO,
and H,O. An additional direct route to CO and H, a low oxygen conversions was not
excluded by the authors. It was shown that the a-Al,Os; support was not inert at the applied
conditions. Preliminary simulations with the dightly modified gas-phase kinetic model of
Chen et al. (1994), obtained at conditions typical for oxidative coupling of methane, indicated
that gas-phase reactions were not important. Slaa et al. (1997) thus concluded that the
observed products were produced entirely via heterogeneous reactions on the Rha-Al,O3
catalydt.
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The present work was initiated to obtain more detailed insight into the activity of the
0.3 wt% Rh/a-Al,O; catalyst at low oxygen conversions, i.e. a conditions where the total
and partial oxidation products as well as the G-hydrocarbons are observed. Homogeneous
gas-phase experiments were performed and smulated at the conditions applied during the
catalytic experiments, i.e. a high temperature and pressure using diluted CH,/O./He feed
mixtures. In addition, a comparison of experimental results obtained with the 0.3 wt% Rh/a-
Al,O; catayst and the a-Al,Os support will be presented, with the aim to obtain insight into
the activity of the Rh catalyst a low oxygen conversions. The relative importance of both
homogeneous gas-phase reactions and heterogeneous catalytic reactions will be highlighted.

3.2 Experimental equipment, procedures, and conditions

The experimental results reported in this work were obtained using a continuous-flow
reactor setup consisting of a sintered aumina tube (I, = 0.65 m, d; = 8.5 107 m). The tubular
reactor could be operated at pressures up to 2500 kPa using a back-pressure controller, and
heated up to 1500 K with an electrical furnace. A fluidized sand bed was positioned between
the reactor and the electrical furnace to suppress axial temperature gradients. The axia
temperature profile was measured with a movable thermocouple placed inside a sintered
alumina thermowell in the centre of the reactor (dye = 4.0 10° m). Sintered alumina was
applied because of the inertness of the material. Several safety devices were used in the
reactor setup to minimize the effects of possible explosions and flames (Slaa et a., 1997,
Berger and Marin, 1999). The experiments were performed at steady-state conditions.

Runaway in the downstream part of the tubular reactor was prevented in case of the
gas-phase experiments by introducing an alumina tube in the bottom part of the reactor (I =
0.24 m, dye = 7.65 10° m, dy; = 4.75 10° m), cf. de Smet et a. (1998). The reactor
configuration applied for the experiments with the Rha-Al,O; catalyst and the a-Al,O;
support is shown in Figure 1. The Rh catalyst particles (0.08 < d, < 0.11 mm), diluted with
non-porous alumina pellets (0.11 < d, < 0.15 mm), were positioned in the centre of the
reactor. Both at the top and bottom of the catalyst bed, non-porous alumina spheres (0.5 < d,
< 1 mm) were placed. In addition, sintered alumina filling tubes were used in the bottom and
top parts o the reactor to fill up as much empty space as possible. In case of the experiments
with the a-Al,Os support, identical pellet sizes and reactor filling were applied.

The reactor tube, filling tubes, and non-porous alumina pellets were cleaned prior to the
experiments in a 60% nitric acid solution in order to remove any impurities. The Rh/a-Al,0O3
catalyst and the a-Al,O3; support were pretreated in-situ using a flow of 2% H,/He at 1140 K
and with a 6.7/3.3/90 CH,/O,/He mixture at 1400 K, respectively. This procedure resulted in
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stable operation for more than 15 days in case of the Rh/a-Al,O; catalyst. The conditions
applied during the experiments are shown in Table 1. Helium is used as diluent in both the
support and catalytic experiments to prevent large aial temperature gradients, and to allow
for intrinsic kinetic measurements. A maximum temperature difference over the catalyst bed
of 7 K was found. The gas-phase experiments were also carried out in the presence of helium,
to investigate the homogeneous reactions at conditions as close as possible to those applied in
the catalytic experiments. Additional details about the experimental analysis method, catalyst
preparation procedure, and catalyst specifications can be found in Slaa et al. (1997).
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Figure 1. Schematic representation of the continuous-flow reactor setup used to investigate the
heterogeneous catalytic reactions.
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Table 1. Ranges of experimental conditions applied in the gas-phase, support, and
catalytic experiments

Gas-phase Al,Os-support  RWAI,O5-catayst

experiments experiments experiments
Prot / kPa 400, 600, 800 400 400
T max /K 1273 1273 - 1345 1273 - 1345
CH,/O,/He | % 6.7/3.3/90 6.7/3.3/90 6.7/3.3/90
Fiot *10° / mol s* 3.4 01-22 04-43
VIF, *10°  /m®smol™ 3.6 - -
W/Fcpao / kg s mol™ - 04-8 0.2-25

3.3 Investigation of homogeneous gas-phase reactions
at low reactant partial pressures

The kinetics of the homogeneous gas-phase reactions have been studied in detail by
Berger and Marin (1999) at conditions typica for the partial oxidation of methane to
synthesis gas. Pressures in the range from 300 to 800 kPa, temperatures between 1030 and
1300 K, and undiluted feed mixtures with CH4/O, ratios of 2.1 to 3.1 were applied. The
experimental results were described using a free-radical mechanism featuring 40 reversible
gas-phase reactions between 13 molecular (H, H,O, H)O,, O, CH,; CoHg, CoHi CoHy,
CsHg, CHg, CH,0O, CO, and CO,) and 10 radical species (H-, O-, OH-, HO,-, CH3-, CHs-,
CHs-, GH7-, CH30O:, and CHO-). The effect of pressure faloff on the rate of unimolecular
reactions was taken into account explicitly in the model. The proposed reaction mechanism
will be referred to in the following as the BM gas-phase kinetic modédl. In the present work,
the experiments with the a-Al,O; support and Rha-Al,O; catalyst were carried out with
helium as diluent, see Table 1. At 90% He dilution, the partia pressures of methane and
oxygen are a factor 10 lower than in case of undiluted feed mixtures. Hence, additiona gas-
phase experiments were carried out and simulated at conditions corresponding to those
applied in the support and catalytic experiments, i.e. a low reactant partial pressures. This
was done to evaluate the applicability of the BM gas-phase kinetic model at low reactant
partial pressures.

3.3.1 Experimental results

The measured conversions and selectivities obtained with diluted feed mixtures at
different total pressures are shown in Table 2 together with typical results reported by Berger
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and Marin (1999). In case of the gas-phase experiments with helium-dilution, both the
methane and oxygen conversions increase at increasing total pressure. The GHg selectivity
decreases considerably, whereas the CO, H, and C,H,; selectivities increase at higher
pressures. Identical trends have been found in case of undiluted CH4/O, mixtures, at lower
vaues of the maximum gas-phase temperature. The conversions observed in case of the
experiments with helium are, as expected, considerably lower than the experimental values
obtained with undiluted CH4/O, feed mixtures, a comparable space-times, pressures, and
temperatures.

Table 2 Measured and simulated conversions and selectivities of nine gas-phase experimentsin case
of feed mixtures with and without He-dilution at various pressures, temperatures, and residence times.
Smulation results obtained with the BM gas-phase kinetic model with extended validity range.

Experimental conditions Measured and simulated (between brackets) conversions and selectivities

Pot  Tmax t  CHJOJ/He | X(CH) X(O) | SH) SH0) SCO) SCO,) SCHe) SCH.)
[kPa]  [K] g [%] (%] [%] [%] (%] (%] [%] [%] [%]
400 1277 0.164 6.7/3.3/90 29 6.0 10.3 59.4 36.9 23 43.3 175
(38 (5.7 | (21.3) (46.5) (47.6) (1.6) (32.6) (143

600 1273 0258 6.7/3.3/90 | 11.1 215 16.6 51.8 435 32 24.1 29.2
(11.0) (19.2) | (25.8) (57.6) (56.6) (6.0) (16.6) (17.3)

800 1281 0.355 6.7/3.3/90 | 21.8 434 18.9 60.8 51.5 4.8 13.6 30.3
(22.1) (47.3) | (29.5) (58.9) (62.0) (104) (7.6) (18.1)

300 1112 0.094 67/33/0 13 34 85 60.4 37.6 25 42.3 15.2
a5 (29 | 9.7 (521) 444 (14 (421) (8.9

500 1107 0.103 67/33/0 34 95 104 652 50.8 4.6 22.7 18.3
37 (91 | (88 (61.3) (49.7) (4.4 (243) (11.7)

750 1109 0.086 67/33/0 6.4 175 19.3 63.2 59.5 7.7 9.3 194
(650 (185 | (82 (73.4) (58.6) (85 (8.7 (19.6)

500 1207 0.100 67/33/0 7.5 194 12.2 61.6 54.5 6.5 14.8 21.3
(7.8) (19.8) | (16.7) (62.3) (495 (8.6) (16.1) (21.9

500 1300 0.107 67/33/0 14.1 34.4 28.6 53.1 59.4 7.6 94 21.6
(11.8) (28.2) | (17.2) (60.3) (52.8) (11.3) (12.7) (21.7)

500 1109 0.297 67/33/0 142 432 12.1 65.4 59.2 5.9 15.7 16.3
(17.1) (419 | (9.00 (76.1) (53.3) (19.4) (10.2) (143

3.3.2 Comparison with simulation results

The experimental and ssimulated oxygen conversions in case of the feed mixtures with
He-dilution are shown in Table 3. The simulation results were obtained using the BM gas-
phase kinetic model together with a 1-dimensional reactor model. The method developed by
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Dente et a. (1979), applying the pseudo-steady-state assumption for the reactive radical
species, was used for integration of the continuity equations. The measured axia temperature
profiles were accounted for explicitly in the simulations.

Table 3 Measured and calculated oxygen conversions in case
of the gasphase experiments with He-dilution vs. total
pressure. Calculated results: (A) BM gas-phase kinetic model,
(B) BM gas-phase kinetic model including quench reactions
(5) and (6). Conditions; CH,/O,/He = 6.7/3.3/90, Ty = 1277
K, Fiot = 3.4 10°% mol s*.

Pot/ kPa  Experiment A B!
400 6.0 32.4 17.0
600 215 72.7 59.2
800 43.4 88.9 83.2

's0=1.0

The calculated oxygen conversons are considerably higher than the corresponding
experimental values. This clearly illustrates that the BM gas-phase knetic model cannot be
extrapolated in a straightforward way to low reactant partial pressures. However, the
observed discrepancy between the measured and ssmulated conversions can be caused by
heterogeneous termination reactions of radical species at the reactor walls. The latter effect is
not accounted for in the smulations and can result in significantly lower oxygen conversions.
In case of undiluted CH/O, feed mixtures, the influence of heterogeneous termination
reactions was neglected as a result of high homogeneous termination rates compared to
heterogeneous termination rates at the reactor wall (Berger and Marin, 1999, Chen et al.,
1991). At low reactant partial pressures, however, heterogeneous termination reactions will
be more important. Thiswill beillustrated in detail in the next section.

3.3.3 Influence of heterogeneous termination reactions

Heterogeneous termination reactions at the reactor walls can result in significant radial
concentration profiles of the involved molecular and radical species. Hence, a two-
dimensiona reactor model was developed to investigate the effect of heterogeneous
termination reactions on reactant conversions. The corresponding continuity equations were
written as:
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Axia convection and radial diffusion of both molecules and radical species were taken into
account. The gas-phase production rates, R g, were calculated using the BM gas-phase kinetic
model. The following initia and boundary conditions were used:

2z=0,rp<r<n G=Cp, (2
_ & 0_

r=ro Dm,if f Tr QWE‘— Rit (3)

r=r Dmlrf%l(}_'_:‘th (4)

At the reactor wall, the thermowell wall, and at the external and internal surfaces of the
downstream filling tube, termination reactions can take place, see Eq. (3) and (4). The
resulting set of 24 partial differential equations (14 molecular species, including He, and 10
radical species), together with the initial and boundary conditions, was solved numerically
using the method of lines and the method of Gear in the standard NAG-library routine
DO3PGF (NAG Fortran Library, 1997).

The experimental reactor, applied during the gas-phase experiments, contains two
distinct zones. The first annular zone is bounded by the thermowell and reactor walls (ro =
dwe2 ; r1 = d/2). The second zone consists of two annular spaces, bounded by (i) the
thermowell wall and internal surface of the downstream filling tube (ro = dy /2 ; 11 = t;/2),
and (ii) the external surface of the downstream filling tube and the reactor wall (ro = dq /2 ; 11
= di/2). In order to calculate the concentration profiles at the reactor outlet, the set of partia
differential equations was solved first in case of the annular zone bounded by the thermowell
and reactor walls. A small initial value of the radical concentrations, typically in the order of
10™ mol %, was applied at the reactor inlet to start the integration. The influence of the
initial radical concentrations on the ssimulation results could be neglected. Radially averaged
concentrations were taken a the outlet of the first zone and used next to solve the continuity
equations in case of the annular spaces of the second zone. Finadly, radialy averaged
concentrations at the outlet of both annular spaces were used to calculate the resulting
concentrations at the reactor outlet.

Simulations with the reactor model and the BM gas-phase kinetic model in the absence
of heterogeneous termination reactions indicated that the methyl and hydrogen peroxy
radicas are most abundant at the applied conditions. The CH;- and HO,- radica
concentrations typically amounted to 10° and 10° mol % a the maximum gas-phase
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temperature, whereas the concentration of the other radicals were of the order of 10® mol %
or lower. Two heterogeneous termination reactions were thus considered:

4HO, - % HE® 30, + 2H,0 (5)
2CH3 - %A R® C,Hg (6)

The heterogeneous termination reaction of hydrogen peroxy radicals was aso used by
Couwenberg et a. (1995) to model the oxidative coupling of methane over Li/MgO-based
catalysts. The termination reaction of methyl radicals towards ethane aso occurs
homogeneoudy (Berger and Marin, 1999). The heterogeneous termination rates of both HO,:
and CH;- were considered to be first order in the respective radical concentrations. The
corresponding rate coefficient was calculated from:

Kti =905 oM @)

with s o the sticking coefficient on a clean surface.
The calculated oxygen conversions in case of the methyl or hydrogen peroxy termination
reactions are shown in Figure 2 as afunction of the sticking coefficients.

75

70

Oxygen conversion / [%]

60 I I I I I
0 10° 10* 102 102 10 10°

Si,O/ [-]

Figure 2. Calculated oxygen conversions in case of the gas-phase kinetic model of Berger and Marin
(2999) including heterogeneous termination of hydrogen peroxy or methyl radicals vs initial sticking
coefficient. Conditions; Ry = 600 kPa, Ty = 1274 K, Ry = 3.440° mol s?, CH,/O,/HeY, =
6.7/3.3/90.
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Reaction (5) resulted in a minor decrease of the calculated oxygen conversions: at a sticking
coefficient of 1.0, the oxygen conversion decreased from 72.7 to 70.0 %. The heterogeneous
termination reaction of methyl radicals, however, had a considerable influence on the calcul ated
oxygen conversions. In the latter case, the oxygen conversion amounted to 61.1% for a sticking
coefficient of 1.0.

Table 3 (see section 3.3.2) shows the calculated oxygen conversions at different total
pressures in case of maximum sticking coefficients of the hydrogen peroxy and/or methyl
radicals. The effect of the heterogeneous termination reactions is most pronounced at low
operating pressure. At increasing total pressure, the homogeneous termination rates are
considerably enhanced, thereby decreasing the influence of the heterogeneous termination
reactions. Even in case of maximum heterogeneous termination rates, the calculated oxygen
conversions are still considerably higher than the measured values. Thisclearly indicatesthat the
BM gas-phase kinetic model has to be modified in order to describe the oxygen conversionsin
case of diluted feed mixtures. Couwenberg et al. (1995) obtained a sticking coefficient of 5 10°
for the hydrogen peroxy termination reaction. Application of this value of 5, in case of either
HO,- or CH3- termination resultsin only aminor decrease of the cal culated oxygen conversions,
see Figure 2. Hence, the influence of the heterogeneous termination reactionswill be neglectedin
the following.

3.3.4 Extension of the validity of the BM gas-phase kinetic model
to low reactant partial pressures

Modification of the BM gas-phase kinetic model was carried out using the total number
of nine experiments listed in Table 2. Experimenta data both in the presence and absence of
He were taken into account to obtain a kinetic model valid over the entire range of partial
pressures. A 1-dimensional reactor model was used in the calculations. A total number of 15
pre-exponential factors was adjusted, see Table 4. It should be noted that the latter parameters
were alowed to change only within a fixed window having a width approximately equal to
the uncertainties of the corresponding literature values, c.f. Berger and Marin (1999). The
radical reactions shown in Table 4 were selected because of the large influence of the
corresponding reaction rates on the reactant conversions. The pre-exponential factors were
optimized using a minimization routine based on an agorithm from Rosenbrock
(Rosenbrock, 1961). A smplified form of the generalized |east-squares criterion was used as
objective function:
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The reactant conversions and product selectivities were taken as responses, Y, with the
exception of H,O, which was not detected experimentally. The corresponding weighting
factors, w;, were taken from Berger and Marin (1999). The weighting factors of CH, and O,
were increased by a factor of 2 in order to improve the description of the reactant conversions
in particular.

Table 4. Pre-exponential factors in case of the BM gas-phase kinetic model, and the gas-
phase kinetic model with extended validity that covers the entire range of partial pressures.
The values corresponding to the latter gas-phase model were obtained after minimization of
the conversions and selectivities. The numbers of the reactions correspond to the numbers
used by Berger and Marin (1999).

No. Reaction kog (BMmodel) ko4 (extended validity)
1 CH,+M _ - CHy+H +M 0.24040" 0.87440%
3 CH+H == CH; +H, 0.47340° 0.62440°
5 CH,+OH == CH; +H,0 0.6590° 0.22140°
6 CH,+HO, == CH; +H,0, 0.12840° 0.59240’
7 CHy+0, == CH,0+O0OH 0.396:0° 0.25840°
8 CHy+0, == CH,O+O 0.102:40% 0.20840°
9 CHy +HO, == CH;O +OH 0.255%0° 0.116x0°

10 2CHy +M == CHg+M 0.32920’ 0.35210’

17 CHO +0, == CO+HO, 0.30540° 0.19610°

18 CO+HO, == CO,+OH 0.47440° 0.20440°

19 CHg+H == CHs +H, 0.22340° 0.4460°

20 CHg+OH == GCHs +H,0 0.23040° 0.13240°

21  CHg+CH; == C,Hs +CH, 0.87440° 0.26240°

35 O,+H == OH+O 0.72840° 0.20240°

36 O,+H'+M —= HO, +M 0.15040° 0.41440°

* Ko isexpressed in units[m> mol ™ s*] or [m°> mol “ s

The calculated conversions and selectivities obtained after minimization are shown in Table
2. The experimental conversions are simulated accurately over the entire range of operating
pressures, reactant partial pressures, temperatures, and residence times. Clearly, the present
gas-phase kinetic model can account for the observed reactant conversions in case of the
experiments with He, without incorporating heterogeneous termination reactions. The trends
in the observed selectivities are well reproduced by the model. In case of the experiments
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with He, the calculated CO and H, sdlectivities are dightly higher than the measured values,
whereas the GHg and GH, selectivities are too low. The pre-exponential factors obtained
after minimization are generally in the same order of magnitude as the values reported in case
of the BM kinetic model, see Table 4. In case of reactions (8) and (19), the pre-exponential
factors decreased by a factor of 5, whereas the pre-exponentia factor of reaction (17)
increased with a factor of 6. The present gas-phase kinetic model will be used now to
investigate the influence of gas-phase reactions during the catalytic experiments.

3.4 Investigation of heter ogeneous catalytic reactions
in the presence of supported catalyst

3.4.1 Experimental results

The heterogeneous reactions were investigated by performing experiments using both
the a-Al,Oz support and the 0.3 wt% Rh/a-Al,O; catalyst. The conversions and selectivities
on the RWa-Al,O; catalyst a a fixed temperature of 1273 K are shown in Figure 3 as a
function of space time, W/Fcu40. The reactant conversions first increase gradually with
increasing space time. The selectivities to CO, H,, and C,H, increase, whereas those to C,Hg
and CO, decrease at higher values of the space time. The selectivity to H,O remains
approximately constant. Slaa et a. (1997) showed that addition of CO, and HO did not
influence the experimental results at low oxygen conversions, suggesting that reforming
reactions on the Rh/a-Al,O; catalyst are not important at these conditions. The presence of
sgnificant amounts of CO and H, thus indicates that direct formation of synthesis gas is
possible at low conversions.

The heterogeneous reaction rates are strongly accelerated at W/Fgp4p ratios greater than
2, resulting in a sudden transition to complete oxygen conversion. This transition is not due to
heat transfer limitations, as a smultaneous increase of the catalyst bed temperature was not
observed. High selectivities to CO and H are found, and G-hydrocarbons are no longer
detected. This sudden transition to complete oxygen conversion was also observed by Slaa et
a. (1997) and Heitnes Hofstad et al. (1998) and was ascribed to complete reduction of Rh-
oxide, formed at low oxygen conversions. Metallic rhodium obvioudly is very active towards
oxidation of CH4; CyHs and C,He, which explains the disappearance of the higher
hydrocarbons and the sudden increase of the methane converson at high space times.
Experimental results at high space times (Slaa et a., 1997) showed that the remaining CH, is
reformed with CO, and H,O towards synthesis gas. The experimental trends shown in Figure
3 were aso observed at higher catalyst temperatures. At higher temperatures, however, the
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transition to complete oxygen conversion occurred at lower space times. This can be expected
from a thermodynamic point of view, since reduction of Rh-oxide is governed by the partial
pressure of oxygen. Due to increased oxygen conversions at 1345 K, the oxygen partid
pressure is significantly lower at comparable space times. Hence, Rh-oxide is reduced at
lower W/Fcusp0. Also, Rh-oxideis less stable at higher temperatures (Mallens et al., 1997).
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Figure 3. Measured conversions and selectivities on Rh/a-Al,O; vs space time. Conditions; Py =
400 kPa, T = 1273 K, CH/O,/HEY, = 6.7/3.3/90.

The results obtained with the a-Al,O; support a 1273 K are shown in Figure 4. The
observed trends in the conversions and selectivities at low space times are identical to those
shown in Figure 3 for the Rh/a-Al,O; catalyst. The methane and oxygen conversions in case
of the support experiments approximately amount to 11 and 17% at a W/Fgp4p ratio of 2.0. In
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case of the Rha-Al,O; catayst, however, the conversons amounted to 16 and 34%,
respectively. Figure 4 adso indicates, that the reactant conversions and synthesis gas
selectivity increase gradualy at higher space times. This clearly contrasts with the results
shown in Figure 3, in which a sudden transition to complete oxygen conversion and high
synthesis gas selectivity is observed at W/Fcpqp ratios larger than 2.0.
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Figure 4. Conversions and selectivities on a-Al,O3 vs space time. Lines. calculated results using
the extended BM gas-phase kinetic model and a 1-dimensional reactor model. Points:
experimental results. Conditions: Py = 400 kPa, Ts = 1273 K, CH,/O,/HeY% = 6.7/3.3/90.

The production of C, hydrocarbons during the support and catalytic experiments
suggests that gas-phase reactions could be important even in the presence of large amounts of
He. Slaa et al. (1997) concluded, however, that gas-phase reactions do not occur at the
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applied conditions. The products observed in case of the experiments with the a-Al,Os
support were thus assigned to heterogeneous activity of the support material. The authors
however, did not rule out the possible occurrence of surface initiated gas-phase reactions, e.g.
by the heterogeneous production of methyl radicals. Heitnes Hofstad et a. (1998) also
investigated the activity of the a-Al,Os; support using a Temporal Analysis of Products setup,
i.e. a pressures sufficiently low to suppress any homogeneous reactions. The results
indicated that the support shows no activity for the partia oxidation of methane in the
temperature range of 673 to 1123 K. The latter observations clearly are not in line with the
results obtained by Slaa et al. (1997). The influence of gas-phase reactions will therefore be
re-evauated, using the extended gas-phase kinetic model presented in section 3.3.4, valid at
conditions corresponding to those applied in the present catalytic experiments.

3.4.2 Influence of gas-phase reactions during the a - Al,O; support experiments

The experiments performed with the a-Al,O; support were simulated using the
extended gas-phase kinetic model and a 1-dimensional reactor model. The calculated
conversions and selectivities are shown in Figure 4 together with the corresponding
experimental values. The smulated methane and oxygen conversions are lower than the
measured values. At low space times, the gas-phase reactions contribute 50% to the measured
conversions, which increases to 70 % at high W/Fcuap ratios. The observed trends in the CO
and H, selectivities are well reproduced by the model. The calculated selectivities, however,
are higher than the experimenta values. Note that the calculated selectivities to CO, and H,O
increase with increasing space-times, whereas the experimenta curves display a minimum.
The maximum in the C,H, selectivity is described qualitatively. At the highest temperature
applied during the support experiments, 1345 K, similar trends were found. At these
conditions, the calculated conversions amounted to 90% of the measured values at the highest
gpace time applied. The latter observation indicates that gas-phase reactions become
increasingly important at higher temperatures.

The present analysis thus indicates that the contribution of gas-phase reactions is
considerable at the applied reaction conditions, despite the low partial pressures of methane
and oxygen. The observed production of C,-hydrocarbons and partial oxidation products
occurs primarily through the homogeneous gas-phase reactions. However, the difference
between the measured and calculated conversions indicates that heterogeneous activity of the
a-Al,O; support cannot be ruled out completely. The difference in the trends between the
experimental and simulated selectivities to CO, and H,O at low space times, suggests that the
support catalyzes the total oxidation of methane.
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Figure 5. Measured product yields vs space time. Closed symbols. results obtained with Rh/a-
Al,O3; Open symbols: results obtained with a-Al,Os; Solid lines. Ts = 1273 K; Dashed lines: Tg
= 1345 K. Lines are drawn to guide the eye. Conditions. see Figures 3 and 4.
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Figures 3 and 4 indicate that the trends in conversions and selectivities are similar in case of
the experiments with the support and Rh catayst at incomplete oxygen conversion. This
suggests that gas-phase reactions will also contribute significantly in case of the Rh/a-Al,O3
catalyst. However, the measured reactant conversions in case of the catalytic experiments
were approximately 50 % higher than the values obtained during the support experiments.
This illustrates that heterogeneous reactions in the presence of the Rh/a-Al,O; catalyst also
occur to asignificant extent. Thiswill be investigated in the next section.

3.4.3 Comparison of a - Al,O5 support and Rh/a - Al ,O; catal yst

The heterogeneous reactions occurring at the surface of the Rh catalyst were
investigated by comparing experimental yields obtained in case of the a-Al,Os; support and
the RhWa-Al,O; catalyst. The comparison is based on product yields to account for the
observed difference in reactant conversions. The corresponding experimenta yields are
shown in Figure 5 as a function of space time at temperatures of 1273 and 1345 K. First of
al, it is clear that the CHg and CH, yields are approximately the same for the support and
catalyst. This observation clearly justifies the assumption that C,-hydrocarbon production
occurs primarily via homogeneous gas-phase reactions, see section 3.4.2. The yields to the
CO, products at 1273 K are considerably higher in case of the Rh/a-Al,O; experiments. The
same result is found in case of the H, and H,0O yields. The observed difference between the
experimental CO and H, yields is significantly smaller at a temperature of 1345 K. This
might be a result of the increased gas-phase reaction rates at these conditions. The
experimental yields of CO, and H,O obtained with the Rha-Al,O; catalyst, however, remain
higher than those found in case of the support. This clearly illustrates that the Rh/a-Al,Os
catalyst is primarily active towards the total oxidation of methane. At the lower temperature
of 1273 K, however, direct partial oxidation towards CO and H, also occurs to a significant
extent.

3.4.4 Discussion

The relative importance of homogeneous gas-phase reactions and heterogeneous catalytic
reactions was also addressed by Schmidt et a. (1998) and Faravelli et al. (1998). Schmidt et al.
(1998) investigated the catal ytic partial oxidation of methane towards acetylene at very low space
times, using Pt foam monoliths. As aresult of the exothermic catalytic oxidation reactions, the
outlet of the monoalith reactor reached a temperature of ailmost 1773 K, which was considered to
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be sufficiently high to initiate homogeneous gas-phase reactions. The calculated acetylene
selectivities, obtained from reactor simul ations using a homogeneous gas-phase model, were
found to be similar to the experimental values. Faravelli et al. (1998) compared the results of
homogeneous gas-phase smulations with experimental results of oxidative dehydrogenation of
alkanes from propane up to hexanes. They found that both homogeneous gas-phase reactions as
well as heterogeneous catalytic reactions occurred to asignificant extent. The catalyst provided
higher conversion rates and promoted the formation of dehydrogenated products. A few
simplified catalytic reaction steps, coupled with ahomogeneous reaction mechanism, allowed the
authors to describe the experimental results. Deutschmann and Schmidt (1998) modelled the
partial oxidation of methane in Rh coated monolith reactors using both gas-phase and catalytic
reaction mechanisms. The catalytic oxidation rates were always significantly higher than the gas-
phase reaction rates. At a pressure of 10 bar, gas-phase reactions led to a small increase of the
production of complete oxidation products and to formation of ethane.

In the present work, gas-phase reactions aso contributed significantly to the observed
conversions and selectivities, even in case of significant dilution with helium. The strong
influence of gas-phase reactions mainly results from the relatively low activity of the Rh/a-
Al O3 catalyst and the high temperatures. The selectivities towards the C-products in case of
the Rh/a-Al,O; catayst and the a-Al,O; support aone were approximately the same,
indicating that surface initiated gas-phase reactions did not occur. In addition, initiation of
gas-phase reactions due to local hot spots (c.f. Schmidt et al., 1998) could be ruled out, since
the experiments were carried out isothermally. Hence, the homogeneous gas-phase reactions
and the heterogeneous catalytic reactions occur independent of each other, in contrast to the
findings of Schmidt et al. (1998) and Faravelli et a. (1998).

3.5 Conclusions

A gasphase kinetic model was derived resulting in an accurate description of
homogeneous gas-phase experiments, performed at conditions corresponding to those applied
in the heterogeneous experiments, i.e. a high temperatures and pressures, using CH,/O,/He
feed mixtures. Heterogeneous termination reactions could be neglected at the investigated
surface area to volume ratio. Reactor simulations with the gas-phase kinetic model indicated
that homogeneous reactions are very important at the applied reaction conditions. In case of
the experiments with the a-Al,O; support aone, the gas-phase reactions contributed at |east
50% to the measured conversions. Production of C,-hydrocarbons was assigned primarily to
homogeneous gas-phase reactions. Comparison of the measured conversions obtained in the
a-Al,0O; support and Rh/a-Al,O; catalytic experiments, indicated that both homogeneous
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gas-phase reactions and heterogeneous catalytic reactions are important in case of the Rh/a-
Al,O; catalyst. A quantitative description of the conversions and selectivities in case of the
Rh/a-Al,O; catadyst thus requires the simultaneous consideration of both heterogeneous and
homogeneous reactions. The Rh/a-Al,O; catalyst is primarily active towards the tota
oxidation of methane at 1345 K. At 1273 K, however, there are strong indications that Rh/a-
Al,O; also catalyzes the direct partial oxidation of methane to synthesis gas.

Notation

b Parameter vector

C molar concentration of speciesi, mol m*

d, particle size, mm

d; inner diameter of the tubular reactor, m

O inner diameter of the filling tube, m

Ot e external diameter of thefilling tube, m

dw.e external diameter of the thermowell, m

Dinj Effective binary diffusion coefficient of speciesi, nf s*
fi(xi,b) Calculated response value for response j in experiment k
Fiot total molar flow rate, mol s*

Kog rate coefficient of gas-phase reaction, nt mol™ s* or n mol? s*
ki rate coefficient of heterogeneous termination reaction, m s*
I length of the tubular reactor, m

I length of the filling tube, m

Piot total pressure, kPa

r radial reactor coordinate, m

R gas constant, Jmol ™ K™

Rig net gas-phase production rate of speciesi, mol m*s*

Ri Heterogeneous termination rate of speciesi, mol m?s*
So initial sticking coefficient, -

S(b) Objective function, -

(i) Selectivity of speciesi, -

T max Maximum temperature, K

VIRao  Spacetimein gas-phase experiment, nt s mol™

W; Weighting factor for responsej, -

W/Fcuso Spacetimein carrier and catalytic experiments, kg s mol*
Xk vector of independent variables, -
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X(i) Conversion of reactant i, -

Yii Experimentally observed response value of response j in experiment k
z axial reactor coordinate, m

Greek symbols

i m mass flux, kg m? s

I fluid density, kg my”>

t gas-phase residencetime, s
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Chapter 3



An experimental reactor to study the intrinsic
kinetics of the catalytic partial oxidation of methane
in the presence of heat-transport limitations

This chapter was published in Appl. Catal. A., 187, 33-48 (1999).

Abstract -The catalytic partial oxidation (CPO) of methane with oxygen was studied at
atmospheric pressure in a continuous-flow reactor containing a single Pt metal gauze.
Experiments were performed at catalyst temperatures and residence times in the range of
950-1200 K and 0.02-0.2 milliseconds, respectively. Heat-transport limitations are taken into
account explicitly, by measuring the catalyst temperature directly by means of a surface
thermocouple. The experimental results indicated that the conversions of methane and
oxygen were determined by transport phenomena; however, the CO selectivity appeared to be
influenced significantly by the kinetics of the catalytic reactions. Hydrogen was found only at
temperatures above 1273 K. In order to be able to derive intrinsic kinetic information from
the experimental data, a reactor model consisting of two rows of parallel flat plates in series
was developed, taking into account the relevant transport phenomena. This flat-plate reactor
model was validated by comparing the model results to 3D FLUENT simulations of
simultaneous heat and mass transfer in case of a simple surface reaction on the gauze catalyst.
A series-parallel CPO reaction mechanism allowed simulating the observed conversions and
selectivities at different space-times. More detailed elementary-step reaction mechanisms can

be developed, using both the experimental data and the flat-plate reactor model.

Keywords: ~ Methane partial oxidation; heat-transport limitations; Pt metal gauze;

reactor model
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4.1 Introduction

In the past decade, global research activities have been unfolded both in industry and
academia to develop economic processes for the chemical conversion of large natural gas
reserves to valuable liquid products, such as methanol and higher hydrocarbons. These
chemicals can be produced either via direct conversion routes, such as oxidative coupling, or
via indirect routes, with synthesis gas as an intermediate. At present, synthesis gas is mainly
produced via endothermic steam reforming, using a Ni-Al,O; catalyst (Rostrup-Nielsen,
1993). The catalytic partial oxidation of methane with oxygen to synthesis gas, which is
thermodynamically favoured at sufficiently high temperatures, has recently received

increasing attention as a fast and energy-efficient alternative to steam reforming:
CH, + 40, — CO+2H, AHY 00k =—22.1kJ/mol (1)
Highly exothermic partial or total oxidation reactions, such as:

CH, +1)%40, - CO+2H,0 AH500 K = =518 kJ/mol ()

CH, +20, - CO, +2H,0 A H 00k =800 kJ/mol 3)

can also occur. These exothermic, non-selective oxidation reactions can result in high catalyst
temperatures, which can have detrimental effects on the stability of the catalytic material and
can cause severe heat-transport limitations.

Already in 1946, Prettre et al. (1946) reported high selectivities to synthesis gas during
the catalytic partial oxidation of methane using a Ni-Al,O3 catalyst. The reaction is
considered to proceed via a two-step mechanism: total oxidation of part of the methane,
followed by reforming of the remaining methane with steam and carbon dioxide to synthesis
gas. This mechanism is supported by the work of Vernon et al. (1990), using supported
transition metal catalysts, and by Vermeiren et al. (1992), using measured temperature
profiles over a nickel catalyst. Hickman et al. (1992a, 1993), however, showed that synthesis
gas can be produced directly from methane and oxygen at very short residence times, using
both noble metal coated monoliths and Pt-10%Rh gauzes. Mallens et al. (1997) also showed
that CO and H; are the primary products of the CPO reaction in case of Pt and Rh sponges,
using the Transient Analysis of Products (TAP) technique.

In order to determine the intrinsic kinetics of a heterogeneous catalytic reaction,
experiments have to be performed in which both internal and external concentration and
temperature gradients at the scale of the catalyst can be neglected. Since the CPO reaction is
reported to be very fast (Hickman et al., 1992, 1993), high mass-transfer rates are required to
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avoid large concentration gradients. In case of the indirect CPO mechanism, however, the
total combustion reactions inevitably result in large temperature gradients at the scale of the
catalyst. Even in case of the direct route, with synthesis gas selectivities up to 90 % (Hickman
and Schmidt, 1992a, Hickman et al., 1993), the heat of reaction is sufficiently high to cause
severe heat-transport limitations. This indicates that the intrinsic kinetics of the partial
oxidation of methane to synthesis gas can only be studied accurately when experimental
reactors are used in which high mass-transfer rates can be realised, and in which special
attention is paid to the measurement of the catalyst temperature.

The present work reports on an experimental reactor to study the intrinsic kinetics of
the catalytic partial oxidation of methane in the presence of heat-transport limitations. The
reactor contains a single Pt metal gauze, which enables high mass-transfer rates without
significant pressure drop. Heat-transport limitations can be taken into account explicitly,
since the catalyst temperature is measured directly by means of a Pt/Pt-10%Rh surface
thermocouple. Experimental results indicate, however, that it is impossible to perform
experiments at conditions where both reactant conversions and product selectivities are
determined by chemical phenomena alone. Therefore, a reactor model taking into account the
relevant transport phenomena is developed to determine the intrinsic kinetic parameters of the
CPO reaction. This reactor model will be used to calculate conversions and selectivities in
case of a series-parallel CPO reaction mechanism. However, the experimental set-up,
together with the flat-plate reactor model, based upon the actual mesh size of the gauze
catalyst, can be used as a tool to study the intrinsic kinetics of any heterogeneous reaction in

the presence of transport limitations.
4.2 Experimental equipment and procedures

The partial oxidation of methane with oxygen to synthesis gas was studied by
performing steady-state experiments in a continuous flow reactor set-up containing a single
Pt metal gauze. A schematic drawing of the reactor, together with the layout of the gauze
catalyst is shown in Figure 1. The gauze catalyst is constructed by using a single Pt wire (d
= 0.20 mm) and consists of two rows of six parallel wires placed on top of each other. The
average distance between the centres of two individual wires, Dy,.y, amounts to 8.200™ m,
which corresponds to a mesh size of approximately 150 meshes/cm”. To ensure mechanical
stability, the wires were spotwelded at the intersection points.

The quartz reactor contains three distinct zones. The reactant gases are preheated in the
annular preheating zone (d. = 15 mm, d; = 12 mm). Then, the gas mixture passes over the Pt
gauze catalyst, which is located at the end of the preheating zone. Finally, the product gas is
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cooled in the annular cooling zone (d. = 8 mm, d; = 7 mm), which is placed perpendicular to
the heating zone. This perpendicular orientation of the annular tubes enables the use of an
optical pyrometer to determine the surface temperature of the Pt gauze and provides a means
to monitor the performance of the gauze catalyst as well as possible Pt deposits due to the

formation of volatile Pt oxide species.

- as in
TI|, preheating zone &

TI,
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Figure 1. Schematic drawing of the laboratory reactor. TIL}, TIL} = Nisil/nicrosil thermocouples,
used to measure the gas-phase temperature upstream and downstream of the gauze catalyst,

respectively.

Special attention was paid to the temperature measurement. The gas-phase temperature
was measured upstream and downstream of the Pt gauze by Nisil/Nicrosil thermocouples,
located in quartz thermocouple wells. In addition to the surface temperature measurement via
the optical pyrometer, the catalyst temperature was also determined directly by means of a
surface thermocouple. This thermocouple was constructed by spotwelding a thin Pt-10%Rh

wire (dy = 0.10 mm) to the centre of the gauze catalyst. The temperatures measured with the



Kinetic study of methane partial oxidation in the presence of heat-transport limitations 77

optical pyrometer were always within 10 K of those obtained via the surface thermocouple.
The optical pyrometer was also used to monitor the temperature uniformity of the gauze
catalyst during the experiments. The maximum temperature difference between the centre
and the perimeter of the gauze catalyst approximately amounted to 10 K.

A typical example of measured catalyst and bulk gas-phase temperatures at reaction
conditions is shown in Figure 2. The bulk gas-phase temperature is defined as the average of
the gas-phase temperatures measured upstream and downstream of the gauze catalyst. It is
clear that the catalyst surface temperatures are at least 200 K higher than the average gas-
phase bulk temperature, indicating that strong heat-transfer limitations indeed occur.
Therefore, the measured catalyst temperature will be used to determine the intrinsic kinetics
of the CPO reaction at a given temperature.

1250
— 1050
=)
g -
2
= ss0f

650 ‘ . 1 . 1 .
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T(gas,bulk) / [K]

Figure 2. Comparison of measured catalyst and gas-phase bulk temperatures. Conditions: P, = 130
kPa, F,,, = 1007 mol s, W/Fcys0 = 39.9 g s mol”, CH,/Oy/Hel} = 14.3/5.7/80.

The experiments were carried out using gases with purities of 99.995% for CHy, 99.5%
for C,Hs, 99.999% for O, 99.996% for Hy, 99.996% for He, and 99.999% for N,. All the
products were analysed using a HP 5890 series II gas chromatograph, equipped with
Molsieve 5A and Poraplot Q columns and TCD detectors. Nitrogen was used as an internal
standard. The reactant conversions and product selectivities were calculated based on the
total number of moles of C, O, and H in the product stream. The component mass balances
were closed within 5 %.
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Prior to the experiments, the gauze catalyst was reduced for one hour with a 10% H,/He
mixture at 973 K. In order to activate the catalyst, a standard pre-treatment procedure was
applied. The catalytic reactions were ignited at a gas-phase temperature of approximately 950
K by flowing a gas mixture containing 30% C,Hg, 20% O,, and 50% He. C,Hs was used to
ignite the reactions, as the ignition temperature of C,H¢/O, mixtures is considerably lower
than the ignition temperature of CH4/O, mixtures. After ignition, C;Hs was gradually
replaced by CHy4, and the gauze temperature was maintained at 1173 K for one hour. The
reactions were extinguished by adding a surplus of He and, if necessary, by switching off the
pre-heater. Finally, the Pt gauze was exposed to a 10% H,O/He mixture at 973 K to remove
residual carbon deposits. An analogous start-up and shutdown procedure was applied prior to
each experimental series, which resulted in reproducible results. An experimental series
consisted of a number of experiments in which the influence of a single process variable was
investigated.

The range of experimental conditions covered during the catalytic experiments is
shown in Table 1. The total molar flow rate was varied in the range of 1.5 to 20 mmol s,
which resulted in linear gas velocities of 1.5 to 20 m s at the position of the gauze catalyst.
The corresponding Reynolds numbers, based upon the velocity, density, and viscosity at the
position of the gauze catalyst, and the reactor diameter, amounted to a maximum value of

approximately 1000, which indicates that the flow pattern is laminar.

Table 1. Ranges of experimental conditions

covered during the catalytic experiments.

Catalyst temperature (K) 950 - 1200
Total pressure (kPa) 130 - 240

Total flow rate (mmol s™) 1.5-20

W/Fcpao (g s mol™) 10 - 130
CH4/0,0 2-5
He-dilution (%) 40 - 80
CH, conversion (-) 0.02-0.12
O, conversion (-) 0.09 - 0.46

The maximum catalyst temperature applied during the experiments amounts to 1200 K.
At such high temperatures, gas-phase reactions may become important. Berger and Marin

(1999) developed a kinetic model for gas-phase chain reactions at typical CPO conditions.
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Simulations were carried out using this kinetic model together with a plug-flow reactor model
at the most severe conditions encountered during the experiments, i.e. at the highest catalyst
temperature and the highest space-time W/F. The calculated methane and oxygen conversions
amounted to 0.14 and 0.23 %, respectively, indicating that the effect of gas-phase reactions
can be neglected at the conditions applied. This is mainly caused by the high total molar flow

rates and the low reactant partial pressures applied during the experiments.

4.3 Experimental results

At all conditions investigated, CO, CO,, and H,O were the main products, indicating
that the oxidation reactions are far from thermodynamic equilibrium. H, was found only at
catalyst temperatures above 1273 K. It is known that a single Pt metal gauze is a poor catalyst
for hydrogen production, even at high catalyst temperatures (Heitnes et al., 1995, Heitnes et
al., 1996, Fahti et al., 1998). This is a result of the surface reaction of adsorbed hydrogen and
oxygen species towards adsorbed hydroxyl species, which is a precursor for water formation.
The latter reaction is extremely fast on Pt (Hickman and Schmidt, 1993). Significant amounts
of hydrogen have only been detected in case of multiple gauzes in series, when the oxygen
conversion is complete (Hickman and Schmidt, 1992a).

At catalyst temperatures above 1273 K the gauze catalyst did not exhibit a stable
performance with time on stream. A slow increase of the methane and oxygen conversions, a
decrease of the CO selectivity, and an appreciable evaporation of Pt was observed. Pt
evaporation as a result of the formation of volatile Pt oxide species is a well-known
phenomenon in industrial ammonia oxidation (Thieman et al., 1985, Twigg, 1996). In
addition, the observed changes in conversions and selectivities are generally ascribed to
morphological changes of the Pt catalyst, which lead to a significant roughening of the Pt
surface (Bergene et al., 1996). In order to perform experiments at constant catalyst activity,
and to decrease the risk of Pt evaporation, the catalyst temperature was always kept below
1200 K.

The influence of the catalyst temperature and the reactant space-time, W/Fcuap, on
conversions and selectivities is shown in Figures 3 and 4. Both the methane and oxygen
conversions are hardly temperature dependent. From the results of Figure 3 an apparent
activation energy of the methane and oxygen conversion rates of approximately 10 kJ mol™
follows, which indicates that the reaction rates are completely determined by transport
phenomena. The selectivity to CO, however, varied strongly with the catalyst temperature.
The formation rate of CO thus appears to be determined significantly by the kinetics of the

catalytic reactions, in contrast to the conversions of methane and oxygen. Identical trends
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were also found by Heitnes Hofstad et al. (1996) and by Hickman and Schmidt (1992a) using
both Pt and Pt/10%Rh gauzes.

Figure 4 shows that the methane and oxygen conversions increase with increasing
space-times at a fixed catalyst temperature of 1123 K. The catalyst temperature was kept at a
constant value of 1123 K by decreasing the preheat temperature at increasing space-times.
The selectivity to CO decreases at increasing space-time, which indicates that CO is a
primary product of the oxidation reaction. As indicated in the introduction, much debate has
been going on in the literature concerning primary product formation. In case of supported
fixed-bed transition metal catalysts, the total oxidation products are generally considered as
the primary products (Vernon et al., 1990), which subsequently react with methane to
synthesis gas. Hickman and Schmidt (1992a, 1993) have shown that in case of noble metal

coated monoliths and noble metal gauzes, CO and H, are the primary products.
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Figure 3. Conversion and selectivity as a Figure 4. Conversion and selectivity as a
function of the catalyst temperature. Points: function of the space-time. Lines: calculated
experiments. Conditions: P,,, = 130 kPa, F, = using the flat-plate reactor model and the
1007° mol s, WiFcuso = 39.9 g s mol’”, series-parallel CPO reaction mechanism.
CH,/Oy/Hel}, = 14.3/5.7/80. Points: experiments. Conditions: P, = 160

kPa, T,,, = 1123 K, CH/O»/Hel}, = 28.6/11.4/
60.
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4.4 Reactor model development

4.4.1 Approach

The experimental results indicated that both the methane and oxygen conversion rates
are completely determined by mass transport at the conditions applied. The CO formation
rate, however, was influenced significantly by the kinetics of the cataytic reactions.
Therefore, a reactor model taking into account the transport phenomena in an appropriate
way should allow determining the intrinsic kinetics of the CO formation.

The computationa fluid dynamics program FLUENT (Fluent User Manual, 1995) was
used to calculate gas-phase temperature and mole fraction profilesin case of a model surface
reaction taking into account the 3D geometry of the gauze. The model surface reaction and
the corresponding rate equation used in the simulations can be written as:

CHy(0) ® CH4(g) +H(S) (4)

f'w,CH, = kintngH4 Mch, (5)

The surface reaction concerns the deposition of a solid hydrogen atom, from gaseous
methane, which can be readily implemented in the FLUENT simulations. More detailed
surface kinetics could not be taken into account, since the standard FLUENT code cannot be
used in conjunction with external subroutines that model elementary step surface reaction
mechanisms.

FLUENT smultaneoudy solves the momentum equation, the continuity equations for
the gas-phase components (CH4(g) and CHx(g)), and the energy equation by means of the
control-volume based finite-difference method. The control volumes are defined by means of
a computational grid, describing the geometry of the gauze catalyst. A total number of (22 x
22 x 57) gridpoints was used in the (x, y, z) directions. As indicated in section 2, the
temperature of the gauze catalyst is measured in-situ by means of the surface thermocouple.
The measured surface temperatures were imposed at the wire surface in the FLUENT
calculations.

Typical gas-phase temperature and reactant mole fraction profiles are shown in Figure
5. Because of symmetry considerations, only a quarter of a single mesh of the gauze catalyst
has to be taken into account during the calculations. From both profiles it is clear, that strong
heat and mass-transfer resistances occur at the conditions applied. In addition, gas-phase
temperature and reactant mole fraction profiles adong the axis of the cylinders can be
observed, which result from the interaction between the different wires.
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1100

0.0

Figure 5. (a) Gas-phase temperature profile, and (b) CH, mole-fraction profile obtained from a
FLUENT simulation taking into account the 3D gauze geometry. Conditions; T;,=600 K, T4=1123
K, =10 ms?, kyy=140* ms?, n=1.
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The CPU time required to calculate the temperature and mole fraction profiles
approximately amounts to 10 ks, using a Silicon Graphics Power Challenge computer.
FLUENT simulations thus are not suited to estimate intrinsic kinetic parameters via
regression analysis due to large computational times. Therefore, there is a need for a simpler
reactor model. A schematic representation of the approach used to derive such a reactor

model is shown in Figure 6.
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Figure 6. Derivation of the flat-plate reactor model: (a) gauze catalyst, (b) 2D approximation using
two rows of parallel cylinders in series, and (c) the flat-plate reactor model, consisting of two rows

of parallel flat plates in series.

First, the computational complexity of the gauze catalyst is reduced from 3D to 2D, by
considering (1) two identical rows of parallel cylinders of infinite length in series, and (2)
using the mean gas-phase temperature and mole fractions at the outlet of the first row of
cylinders as input conditions for the second row of cylinders (Figure 6-B). This reactor
configuration, consisting of two rows of cylinders of infinite length in series, was described
mathematically by means of two identical rows of parallel flat plates of infinite length in
series (Figure 6-C). The latter configuration of parallel flat plates will be referred to as the
flat-plate reactor model.

A considerable reduction of the computational time was obtained in case of the flat-
plate reactor model by solving the continuity and energy equations numerically for both rows
of plates separately, using a uniform flow field. The CPU time required in case of a simple
surface reaction approximately amounts to 1 s. The numerical solution procedure followed in
case of the flat-plate reactor model is shown in detail in Figure 7. The characteristic
dimensions of a single row of cylinders of the gauze catalyst, d,, and D,,.,, and a single row of
plates of the flat-plate reactor model, b (length of a single flat plate) and /4 (distance between

two flat plates), are shown in Figure 8, together with the corresponding heat and mass fluxes.
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Figure 7. Flow diagram of the solution procedure applied in case of the flat-plate reactor model. Solid
arrows: procedure in case of the first row of flat plates. Dotted arrows: second row of flat plates. TOL =

tolerance used to calculate the outlet gas-phase temperature.
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Figure 8. Characteristic dimensions of: (a) a single row of cylinders of the gauze catalyst, (b) a single
row of flat plates in the flat-plate reactor model, and (c) the heat and mass fluxes considered in case of a

single row of flat plates.



Kinetic study of methane partial oxidation in the presence of heat-transport limitations 85

The gas-phase temperature at the outlet of the first row of flat plates (Toutirralc) 1S
calculated first, by solving the energy equation. Both convective heat transport in the axial
direction (z-direction, Figure 8) of the flat plates and conductive heat transport in the radial
direction (y-direction, Figure 8) are taken into account. The measured feed temperature
(Tfeedrineas), the measured catalyst temperature (Tcurmess), and the inlet mole fractions
(Xi feedCmeas)> together with the initial estimate of the mean outlet temperature (Toy1), are used
as input (INPUT E.1, Figure 7). The mean outlet temperature is solved via the method of
successive substitution, as the heat conductivity A, is defined at film temperature, the
arithmetic average of the gas-phase bulk and surface temperature. The energy equation,
together with the corresponding initial and boundary conditions are shown in Section 4.2.

The continuity equation in case of the first row of plates is solved next, using Tfeedrineass
Toutiteates Teatimeas> ANd Xi feedrimeas @S input (INPUT C.1, Figure 7). Mass transport by means of
axial convection and radial diffusion are taken into account. The inlet, outlet, and catalyst
temperatures are required to calculate the diffusion coefficient at film temperature. The mean
mole fractions at the outlet of the first row of flat plates (Xiouircalc) are obtained by
integrating the resulting mole fraction profiles. The continuity equation, together with the
corresponding initial and boundary conditions are presented in Section 4.3. The energy and
continuity equations in case of the second row of plates are solved using an analogous
procedure. In case of the energy equation, however, Toytimcale and Xi outiceale are used as input
to the second row of plates, together with Tcyrineas (INPUT E.2, Figure 7). The value of the
measured catalyst temperature is identical to the value used to solve the first row of flat
plates. In case of the continuity equation, Toytircalc @0d Xi out1Teale together with Tearimeas and the
calculated temperature at the outlet of the second row of plates, Tou2rrale, are used as input
(INPUT C.2, Figure 7). The mean mole fractions at the outlet of the second row of plates are
finally determined and result in the calculated values of conversions and selectivities.

The results of the 3D FLUENT simulations were used to validate the flat-plate reactor
model (Section 4.4) by comparing the outlet temperatures and reactant conversions as
calculated from the 3D FLUENT simulations to the temperatures and conversions obtained
with the flat-plate reactor model. The input parameters used in the 3D FLUENT simulations
and the corresponding ranges applied during validation are shown in Table 2. The large
window of the intrinsic reaction rate constant covers the entire range from intrinsic to mass-

transfer limited conditions.
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Table 2 Parameters used in the 3D FLUENT

simulations.
Inlet velocity (m s™) 2.5-25
Total pressure (kPa) 100
Inlet temperature (K) 300-1100
Catalyst temperature (K) 1123

Intrinsic reaction rate constant (*) 0.1 - 1ao*
Reaction order (-) 0.5-2
Diameter cylinder (m) 2.000™

Distance between cylinders (m) 8.2000"

* unit depends on reaction order

4.4.2 Energy equation

In case of gases flowing perpendicularly to a single cylinder, complex flow patterns can
develop as a function of the Reynolds (Re) number (Schlichting, 1979). For instance, at 5 <
Re < 40, a fixed pair of vortices are formed behind the cylinder. The flow pattern has a
profound effect on the amount of heat transferred between the cylinder and the surrounding
gas. In order to account for the effect of these flow patterns on heat transfer, a mean heat-
transfer coefficient is introduced. This heat-transfer coefficient can be calculated from a
Nusselt equation for forced convection of gases and liquids to a cylinder in crossflow
(Churchill and Bernstein, 1977):

1/2p1/3 O L AP N o
Nu:& :Nu0+ " Re” “LPr 72 @+H Re g 0 &D (6)
Ae 1+(04/Pry’ 3] o 282000 g B

in which Nuy corresponds to the extrapolated Nusselt number at Re — 0, and y; to the slope
of the experimentally determined Nu versus {(Rel/ 2 prt/ 3)/(1+(0.4/Pr)2/ 3)1/ Y curve. Churchill
and Bernstein (1977) suggest values of 0.3 for Nuj and 0.62 for y;. The equation is valid for
RelPr > 0.2; the Nu, Re, and Pr numbers are all calculated at film temperature.

In order to solve the mean outlet temperature at the outlet of both the first and second
row of plates, the energy equation is solved, taking into account both axial heat convection
and radial heat conduction. The energy equation, using the dimensionless coordinates q (z/b)

and p (y/h), can be written as:
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2 [FW,O Ijjp,b (h T _ 2T
£T-) BLZ (7
A at Jq op

in which A, corresponds to the effective gas-phase heat conductivity between the flat plates.

The following initial and boundary conditions apply here:

q=000<p<1/2: T=T, (8)

q>0Up=0: a—T=O (9)
dp

q>00p=1/2: T=T, (10)

The temperature profile is symmetric around radial position p=0 (the centreline
between two plates) and the plate surface is considered to be isothermal at temperature T,;.
The effect of the flow pattern on the heat transfer from the cylinder to the gas is taken into

account in the flat-plate reactor model by calculating A, from the Nu-number according to:

2 2
T h Nu® Cp¢
Ay =—DA gj e (1
8 w-w [] RelPr ¢,y

The derivation of equation (11) is presented in Appendix A.

The partial differential equation (7) together with the corresponding initial and
boundary conditions (8,9,10) is solved numerically by using the standard NAG-library
routine DO3PGF (NAG Fortran Library, 1991). The temperature profile at the reactor outlet
can only be calculated when the mean outlet temperature is known, as the effective heat
conductivity (11) is defined at film temperature. Therefore, the mean outlet temperature is
solved numerically via the method of successive substitution (Figure 7).

The best description of the mean outlet temperature is obtained when the coefficients
Nuy and Y; in equation (6) are taken as: Nuy = 0.39 and y; = 0.66. These values were obtained
by comparing the calculated mean outlet temperatures in case of a single row of flat plates to
the temperatures obtained from 2D FLUENT simulations of heat transfer in case of a single

row of infinite cylinders.

4.4.3 Continuity equation

From Figures 5-a and 5-b it is clear, that the gas-phase temperature and reactant mole

fraction profiles obtained from the 3D FLUENT simulations are very similar. This indicates
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that the Chilton-Colburn analogy between heat and mass transfer applies. This analogy
implies that at constant physical properties and moderate mass-transfer rates, a Sherwood
correlation for mass transfer can be obtained from a Nusselt correlation for heat transfer by

replacing the dimensionless Pr number by the Sc number in equation (6):

/5 17
:kxdw _ VzER &/ 2rgd/3 B% HRe g/tﬁ [&ﬁ

CDp b ass"* B brsa00] J

(12)

in which Sh, Re, and Sc are calculated at film temperature. Because of the analogy between
heat and mass transfer, the coefficients Shy and Y, in equation (12) are taken as: Shy = Nuy =
0.39 and y; =Y, = 0.66.

The continuity equation, used to calculate the mean mole fractions at the outlet of both

the first and second row of plates, can be written as:

2
2 fx Dy £ (13)

A Jdq P9 p?

cat

in which Dy, ;l}, corresponds to the effective molecular diffusion coefficient between the flat

plates. The following initial and boundary conditions apply here:

q=000<p<1/2: Xj = Xjg (14)
q>0Dp:01 axi:() (15)
op
Cip _0x.
q>0|:|p:1/2 _ijl‘pgt—’l:?;:rl’A (16)

The mole fraction profile is symmetric around radial position p=0. At the plate surface, the
flux to the surface is equal to the areal reaction rate.
The effect of the flow pattern on mass transfer between the gas and the cylinders is

taken into account by calculating Dy, ;[], from the Sherwood correlation (12) according to:

Sh?
Dy =Dy, E%} @% %emc (17)

The derivation of equation (17) is presented in Appendix B.

In order to calculate the mole fraction profiles, the mean outlet temperature is

calculated first by solving the heat equation (7). The resulting outlet temperature is used to
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determine the effective diffusion coefficient at film conditions (17). Next, the continuity
equation (13) is solved together with the corresponding initial and boundary conditions
(14,15,16) with the NAG-library routine DO3PGF (NAG Fortran Library, 1991).

4.4.4 Validation of the flat-plate reactor model

The 3D FLUENT simulations indicated, that a strong hydrodynamic interaction exists
between the two rows of cylinders of the gauze catalyst, which resulted in gas-phase
temperature and reactant mole fraction profiles along the axis of the cylinders near the
intersection points. The influence of these temperature and mole fraction profiles on the heat
and mass-transfer rates is illustrated in Table 3. In this table, the total heat and mass-transfer
rates on the cylinders of the first and the second row in case of the 3D FLUENT simulations
are compared to the total heat and mass-transfer rates in case of 2D FLUENT simulations,

using a single row of infinite cylinders.

Table 3. Total heat and mass transfer rates per cylinder obtained from 2D and 3D FLUENT
simulations. Conditions: Ty, = 600 K, Towe = 1123 K, uyy = 5m s, kyy = 100° m s, n =1, d, =
2.0007 m, D,., = 8.200" m.

Transfer rate to/from Heat transfer rate (MW m™>)  Mass transfer rate (kg m™s™)
Row of infinite cylinders (2D) 0.923 0.433
1* row of cylinders of 3D gauze 0.874 0.401
2nd row of cylinders of 3D gauze 0.663 0.299
3D gauze 0.768 0.350

The transfer rates per cylinder in case of the first row of cylinders of the 3D gauze are
slightly smaller than the rates for a single row of infinite cylinders. In case of the second row
of cylinders of the 3D gauze, however, the heat and mass-transfer rates are much smaller
compared to the 2D simulations. This is caused by the large influence of the first row of
cylinders on the temperature and the reactant mole fraction at the position of the second row
of cylinders. As a result, the overall effectiveness of heat and mass transfer is smaller in case
of the 3D gauze.

The observed decrease in heat and mass-transfer rates as a result of the interaction
between the rows of cylinders is taken into account in the flat-plate reactor model by
introducing effectiveness factors for both the Nusselt and Sherwood number in case of the

first and the second row of flat plates:
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Nugauze = |:Nucylinder (18)

Shgauze =N |:$hcylinder (19)

Similar effectiveness factors for Nusselt are used in the design of shell and tube heat
exchangers (Coulson and Richardson, 1990), to account for the influence of the orientation
(inline or staggered) of the parallel heat exchanging tubes on the overall heat-transfer rate.

Because of the analogy between heat and mass transfer, the values of N, and n,, are
assumed to be identical. The single effectiveness factor, N, = Nm, was obtained by
minimisation of the residual sum of squares (Draper and Smith, 1966) applied to the
calculated reactant conversions in case of the flat-plate reactor model and the reactant
conversions obtained from the 3D FLUENT simulations. A value of 0.71 was found to
describe the 3D FLUENT results best. It should be noted, that the obtained value of the
effectiveness factor is only valid for this specific case. Application of different wire diameters
(dw) and distances between the centres of the wires (Dy,.y) results in a different value for the
effectiveness factor.

Figure 9 shows the parity plots for both the outlet gas-phase temperature and the
reactant conversion. It is clear, that the flat-plate reactor model accurately describes
simultaneous heat and mass transfer in case of a surface reaction. For that reason, it will be a

valuable tool to obtain intrinsic kinetic data from experimental results.
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Figure 9. Comparison of (a) the outlet gas-phase temperatures, and (b) the methane conversions
calculated in case of the flat-plate reactor model, and the 3D FLUENT simulations using the gauze
geometry. Conditions: see Table 2.
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4.5 Application of the flat-plate reactor model using a series-parallel

CPO reaction mechanism

At present, only few reaction mechanisms for the catalytic partial oxidation of methane
to synthesis gas on Pt metal catalysts are available in the literature. Hickman and Schmidt
(1993) simulated the direct oxidation of methane to CO and H; in case of Pt coated monoliths
using a 19-step elementary reaction mechanism. The reaction rate parameters were obtained
from literature and from regression of experimental data. Deutschmann et al. (1994) and Bui
et al. (1997) used an analogous 19-step reaction mechanism to model the catalytic ignition of
methane/air and methane/oxygen mixtures on a Pt metal foil. Mallens et al. (1995) proposed a
reaction network for the partial oxidation of methane over Pt sponges without values for the
kinetic parameters, based upon experimental results obtained with the Temporal Analysis of
Products set-up.

Hickman and Schmidt (1992b) also considered a series-parallel CPO reaction
mechanism to determine the influence of boundary-layer mass transfer on the selectivity to
synthesis gas. An analogous mechanism was used in this work to calculate conversions and
selectivities in case of the flat-plate reactor model. The reactions considered, and the

corresponding rate equations can be written as:

ky
CH, +1 %0, — CO +2H,0 r.a =kipcy,Po, (20)
kp a 1
CO+ ¥ 0, - CO, A= kzpcopg2 (21)

Reactions (20) and (21) are in series with respect to the partial oxidation product CO,
and are parallel with respect to O,. The oxidation of CH4 to CO and H,O is considered to be
first order in the partial pressures of both CH4 and O,. The reaction of CO with O, towards
CO;, is first order in the partial pressure of CO and 2 order in the partial pressure of Os.

The methane conversion, oxygen conversion, and the selectivity to CO were calculated
in case of this series-parallel mechanism according to the procedure outlined in Figure 7. The
reaction mechanism resulted in a set of five continuity equations (13), which were solved
simultaneously, together with the corresponding initial and boundary conditions (14-16). The
net fluxes of the reactants and products at the surface of the flat plates (equation 16) are
calculated from the areal reaction rates (1} o and 1 »).

The physical properties (A, W, Cp) of the CH4/O/He feed mixture, and of the gas
mixture at the outlet of the first row of plates, were used to solve the energy and continuity
equations in case of the first and second row of plates. The diffusion of the reactants and

products was described using Fick's law, as in all experiments He was present in large excess.
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The series-parallel reaction mechanism was implemented in the flat-plate reactor model
and was used to simulate the conversions and selectivities at different space-times, W/Fcua.0.
The lines in Figure 4 show the calculated conversions and selectivities as a function of space-
time. The corresponding values of the intrinsic kinetic rate parameters k; and k, amount to
1.5 10® mol Pa? m? s and 6.0 10° mol Pa'” m™ s, respectively. It is clear, that the
reaction mechanism results in an adequate description of the measured methane and oxygen
conversions. In addition, the model correctly predicts a decrease in the CO selectivity with
increasing space-time.

Typical reactant and product mole fraction profiles at the outlet of the first row of plates
are shown in Figure 10 as a function of the dimensionless radial coordinate p. Close to the
surface of the flat plates, at p = '%, a rapid decrease in the oxygen mole fraction can be
observed, which indicates that the oxygen consumption rate is strongly influenced by mass
transfer to the surface. The methane mole fraction profile is completely determined by the
oxygen consumption rate, since methane is always present in excess. In addition, significant

mole fraction profiles exist for the reaction products.
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Figure 10. Radial mole fraction profiles at the
outlet of the first row of flat plates in case of the
series-parallel CPO mechanism.
Conditions: P,, = 160 kPa, T., = 1123 K,
W/Feuo = 20 g s mol', CH/OyHel} =
28.6/11.4/60.

reaction

Figure 11. Calculated areal reaction rates at
the plate surface and selectivity to CO in case of
the first row of flat plates as a function of the
dimensionless axial coordinate. Conditions: Py
= 160 kPa, T,,; = 1123 K, W/Fcysp = 11.1 g s
mol ', CH,/Oy/Hel}y = 28.6/11.4/60.

Figure 11 shows the calculated reaction rates at the plate surface, together with the

selectivity to CO as a function of the dimensionless axial coordinate q in case of the first row
of plates at W/Fcpao = 11.1 g s mol!. The initial methane oxidation rate (r1.a) is very high,
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and decreases rapidly at increasing values of the axial coordinate. The CO oxidation rate
(r2,A) shows a maximum value near the inlet, and approaches the value of r; o near the outlet.
The selectivity to CO approaches 100 % at the inlet, as the CO oxidation rate is
approximately equal to zero. The difference between the reaction rates (rja- I2.a),
corresponding to the net CO production rate, decreases rapidly at increasing values of the
axial coordinate q. As a result, the CO selectivity decreases.

At increasing space-times, the initial decrease in the methane oxidation rate becomes
much more pronounced. In addition, the maximum in the CO oxidation rate is progressively
shifted to the inlet of the row of plates. As a result, the difference between the reaction rates
1.4 and rp o 1s much smaller at increasing space-time, which results in a decrease of the CO
selectivity.

Introduction of a positive activation energy in case of the oxidation of CO, results in a
decrease of the CO selectivity with increasing catalyst temperatures. The experimental results
indicated, however, that the CO selectivity increases with increasing catalyst temperature. In
order to describe the influence of the catalyst temperature on the CO selecitivity accurately,
more detailed elementary-step reaction mechanisms have to be considered. As indicated
above, the CPU time required to solve the flat-plate reactor model in case of a simple surface
reaction approximately amounts to 1 s. This indicates that calculations involving more
detailed elementary-step reaction mechanisms can probably be performed within acceptable

computational times as well.

4.6 Conclusions

During the catalytic partial oxidation of methane with oxygen to synthesis gas strong
heat-transport limitations can occur as a result of non-selective, exothermic oxidation
reactions. In order to study the intrinsic kinetics of the CPO reaction in the presence of heat-
transport limitations an experimental reactor containing a single Pt gauze catalyst was used.
Heat-transport limitations are taken into account explicitly in this reactor, by measuring the
catalyst temperature directly by means of a surface thermocouple.

At all conditions investigated, CO, CO, and H,O were the main products. Hydrogen
was found only at temperatures above 1273 K. At these conditions, however, the catalyst did
not exhibit a stable performance with time on stream. Both the methane and oxygen
conversion rates were completely determined by mass-transport phenomena. The CO
formation rate, however, was influenced significantly by the kinetics of the surface reactions.
In addition, the experimental results showed that at increasing space-time, the selectivity to

CO decreases, which indicated that CO is a primary product of the oxidation reactions.
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In order to determine the intrinsic kinetics of the CO formation, a reactor model was
developed, consisting of two rows of flat plates in series. This flat-plate reactor model was
validated by comparing calculated conversions and gas-phase temperatures to the results
obtained from FLUENT simulations using the 3D geometry of the gauze catalyst. The reactor
model resulted in a considerable reduction of the computational time required during the 3D
FLUENT simulations.

A series-parallel CPO reaction mechanism was used to calculate conversions and
selectivities in case of the flat-plate reactor model at different space-times, W/Fcua4. This
reaction mechanism, together with the corresponding intrinsic kinetic parameters resulted in
an accurate description of the experimental results. More detailed elementary-step kinetic
models can be developed, using the experimental results obtained with the laboratory reactor

together with the flat-plate reactor model.

Notation

Acat catalyst surface area (m?)

b length of flat plates (m)

C concentration (mol m™)

Cp specific heat (J kg™ K™

d diameter (m)

Du.w distance between the centres of two wires (m)
Dpi molecular diffusion coefficient in mixture (m2 s
Fenao inlet methane molar flow rate (mol s'l)

Fup volumetric flow rate at bulk conditions (m® s™)
Fuwo inlet mass flow rate (kg s™)

AH’ 50 reaction enthalpy at 1300 K and 1 bar pressure (kJ molCH4'l)

h distance between two flat plates (m)

Kintr intrinsic reaction rate constant (reaction dependent)
Ky mass transfer coefficient (mol m? s1)

Mchs methane molar weight (kg mol™)

n reaction order of model surface reaction (-)

N mass flux (kg m?s?)

Nu Nusselt number (-)

Nuy extrapolated Nu number at Re — 0 (-)

Piot total pressure (kPa)

p dimensionless radial coordinate (-), partial pressure (Pa)
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Pr Prandtl number (-)

q dimensionless axial coordinate (-), heat flux (J m? s1)
Tw,CH4 specific methane consumption rate (kg m™= s™)
TiA areal consumption rate (mol m™s™)

Re Reynolds number (-)

Sc Schmidt number (-)

Sh Sherwood number (-)

Shy extrapolated Sh number at Re — 0 (-)

Si selectivity of component i (-)

T temperature (K)

Uin inlet velocity (m s™)

W catalyst weight (kg)

X conversion of reactant i (-)

X mole fraction (-)

y radial coordinate (m)

z axial coordinate (m)

Greek symbols

a heat transfer coefficient (W m? K™)

Vi, Y» coefficients in Nu and Sh correlations (-)
®mo  initial molar flux (mol m?s™)

dwo  initial mass flux (kg m? s

A gas-phase heat conductivity (W m™ K™
Nn, Nm effectiveness factors for Nu and Sh numbers (-)
U viscosity (kgm™ s™)
Subscripts
0 Initial
b at bulk conditions
calc Calculated
cat Catalyst
External

at film conditions

i internal, component I



96 Chapter 4

in Inlet

meas Measured

out Outlet

p between the flat plates
t Total

y in y-direction

w Wire

z in z-direction
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Appendix A: Derivation of Eq. (11) for calculation of A,

In order to describe the dimensions used in the flat-plate reactor model in terms of the
characteristic dimensions of the gauze catalyst, dy and Dy.y, it is assumed that the volumetric
surface area and residence time in case of a single row of cylinders (Figure 8-A) and in case

of a single row of flat plates (Figure 8-B) are identical. At constant volumetric flow rate, this

results in:
Tild 2 T, [
p="0 h:—%)w_w——ﬁﬁw Al
2 n 4 “H (A

The effect of the flow pattern on the heat transfer from a single cylinder to the gas is
taken into account in the flat-plate reactor model by calculating the effective gas-phase heat
conductivity, A,, from the Nu-number according to equation (11). In order to derive this
equation, the energy equation for a single row of flat plates (equation 7) was solved
analytically, at conditions where the temperature profile in the gas phase near the plate
surface is not influenced by the presence of another flat plate. The dimensionless outlet gas-

phase temperature can be written as:

8, &,

|

- = (A.2)
cat ~ lin \/E ¢W,O E:p,b th V¢W,O E:p,b |:Dw—w [h

In addition, the energy equation in case of heat transfer between a gas and a single row
of cylinders (Figure 8-A) is used to calculate the outlet gas-phase temperature. Heat transfer
between the cylinder surface and the surrounding gas is taken into account via the film

model:
¢w,0 Dy - L |:d:p,b [T = a WT ., — T) Ld(S(2)) (A.3)

In equation (A.3), a is the heat-transfer coefficient for forced convection in case of a single

cylinder and d(S(z)) the cylinder surface area between z and z+dz. Integrating T from Tj, to
Tout and d(S(z)) from 0 to A, yields:

O O
Teat ~ Tout = exp EI_ almid, B (A.4)
Tcat - T, [ ¢W,0 m:p,b |:]Dw—w O

When the term between brackets is small, corresponding to the situation where the
temperature profile in the gas phase near the surface of the cylinder is not influenced by the

other cylinders, equation (A.4) can be written as:
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Tcat B Tout =1- a BTE‘HW (A5)
Tcat -T ¢w,0 |:d:p,b |:Dw—w .
Substitution of equation (A.5) into (A.2) results in an equation for )\p:
™ _ o’Md, h
Ay =—0 = (A.6)
8 ¢W,0 |]:p,b |:Dw—w
Substitution of the dimensionless Re, Pr, and Nu-numbers:
d c
Re = Do dw ; pr=—2L 7T H ; Nu =2 (A.7)
U A Ag

finally results in:

2 2
T h Nu® Cp¢
Ay =—DA gj e (11
8 w-w [] RelPr ¢,y
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Appendix B: Derivation of Eq. (17) for calculation of D,,;[],

The effective diffusion coefficients of the gases between the flat plates, Dy,;L},, are
calculated from the Sh-number according to equation (17). In order to derive this equation,
the continuity equation (13) for a single row of plates was solved analytically, at conditions
where the mole fraction profile near the plate surface is not influenced by the presence of the

other plate. The conversion at the outlet can be written as:

X O
.
VT ¢m,0 |:H12 ¢m,0 |:Dw—w [h

mil [Cip b _ 8 Ld,, I:Dm,ip [Csp

(A.8)

In addition, the continuity equation in case of mass transfer and a surface reaction in
series is used to calculate the conversion for a single row of cylinders. Assuming a constant
molar flow rate and mass-transfer limited conditions (Xjc« = 0), the following continuity

equation applies:
Prmo Dy -y LLx; =k, [X; [dS(2)) (A.9)

in which ky is the mass transfer coefficient for forced convection to a single cylinder in cross-
flow and d(S(z)) is the cylinder surface area between z and z+dz. Integrating x; from X;, to
Xiout and d(S(z)) from 0 to A yields:

U U
X.
Xi=1—ﬂ:1—exp%%5 (A.10)
Xiin 0 Pmo Pw-w [

When the term between brackets is small, corresponding to a situation where the mole
fractions profiles near the cylinder surface are not influenced by the other cylinder, equation
(A.11) can be written as:

k, Urld,,

Xjm———— (A.11)
¢m,0 |:Dw—w

Substitution of equation (A.12) into equation (A.9) results in:

2 2
m ks Od, [h
Dy =—B—>— (A.12)
8 ¢m,0 BI:t,b |:Dw—w

Substitution of the dimensionless Re, Sc, and Sh-numbers:
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My [d
Re = fmo My ise=— M gp= Sty (A.13)
He Pr Dl Cor M,
finally gives:

m h N
Dm\p == D)mi\f ’ (17)
8 Wew tb ] RelSe



102 Chapter 4



Intrinsic kineticsfor the partial oxidation of
methane on a Pt gauze at low conversions

This chapter has been submitted for publication in AIChE J.

Abstract - The intrinsic kinetics of the catalytic partial oxidation of methane were gudied at
atmospheric pressure in the presence of transport limitations usng a single Pt gauze. The
catalyst temperature as well as the gas-phase temperature were measured directly. CO, CO,,
and H,O were the main products at catayst temperatures between 1030 and 1200 K,
residence times of 0.02 to 0.2 milliseconds, CH/O, ratios between 1.8 and 5.0, and G
conversions between 9 and 46%. A kinetic model consisting of six reaction steps was
developed. Methane adsorption had to be considered as oxygen-assisted in order to describe
the experimental data, in particular the decrease of the selectivity for CO with increasing
space-times, adequately. The corresponding intrinsic kinetic parameters were obtained from
literature and from regression of the experimental CO selectivities. The calculated
conversions and selectivities were obtained using the intrinsic kinetic model, together with a
reactor model accounting for the transport limitations in a quantitative way without any
adjustable parameter. Simulations indicate initial CO selectivities between 86 and 96% over
the investigated range of conditions, and illustrate the relevance of both surface kinetics and
mass transport in CO formation.

Keywords:  Methane partial oxidation; Pt gauze; kinetic model; transport limitations
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5.1 Introduction

The availability of large natural gas resources has been a key driving force in the past
years to investigate and develop efficient natural gas conversion routes for the production of
valuable chemicals. At present, commercia processes for natural gas conversion are mainly
based on synthesis gas, i.e. a mixture of CO and H, (Christensen and Primdahl, 1994). Steam
reforming still remains the major industrial route for synthesis gas production. However,
catalytic partial oxidation (CPO) of methane by oxygen has attracted widespread attention as
energy-efficient alternative to steam reforming. Supported transition-metal catalysts (Prettre
et al., 1946, Vernon et a., 1990, Vermeiren et a., 1992), as well as noble metal-based
catalysts (Hickman and Schmidt, 1992) have been reported to give high activity and
selectivity towards synthesis gas.

On supported transition-metal catalysts, synthesis gas formation is considered to
proceed indirectly, i.e. viatotal oxidation and reforming in series (Prettre et al., 1946, Vernon
et a., 1990). At short residence times, using noble metal catalysts, direct CPO mechanisms
were proposed, yielding CO and H, in a single step (Hickman and Schmidt, 1992, Mallens et
al., 1995). Relatively few studies provide insights into the intrinsic kinetics that determine
reactant conversions and synthesis gas selectivity. Hickman and Schmidt (1993) published
detailed elementary step kinetic models, used to simulate the CPO reaction a high
temperatures (1100-1500 K) and atmospheric pressure on Pt and Rh coated monoliths. The
rate parameters of the individual surface reactions were obtained from literature and from fits
to experiments. Analogous elementary step kinetic models were used to model short-contact-
time CPO reactors (Deutschmann et a., 1998a) and the ignition behaviour of
methane/oxygen mixtures (Bui et a., 1997, Deutschmann et a., 1994, Deutschmann et d.,
1998b, Trevifio, 1999).

At a methane to oxygen ratio of 2 and sufficiently high temperatures, the equilibrium
composition corresponds to complete methane and oxygen conversions and 100 % selectivity
to synthesis gas. This makes the distinction between the direct and indirect formation of
synthesis gas difficult. In addition, the kinetics of the catalytic partial oxidation of methane
cannot be determined in a straightforward way. First of al, the CPO reaction is extremely
fast, which indicates that mass-transport limitations are likely to occur. Also, non-selective,
exothermic oxidation reactions can lead to severe heat-transport limitations, resulting in high
catalyst temperatures. Heitnes Hofstad et al. (1996) and Hickman and Schmidt (1992) used
an optical pyrometer to determine the catalyst temperature at reaction conditions. However,
in most kinetic studies heat-transfer resistances are not taken into account, since only gas-
phase temperatures are measured.
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Severa experimental reactor configurations have been used to study the reaction
kinetics of CPO at short residence times and high temperatures. These configurations have in
common that the catalytic materia is, in contrast to fixed beds, present in a structured way. A
catalytic annular reactor was applied by Beretta et al. (1999). In order to study the intrinsic
kinetics of the CPO reaction in the presence of heat-transport limitations, de Smet et a.
(1999) developed an experimental reactor, containing a single Pt gauze catalyst. Heat-
transport limitations were taken into account explicitly, since the catalyst temperature was
measured directly, using a thermocouple spotwelded to the Pt gauze. It was demonstrated that
experiments could not be performed at conditions where both conversions and selectivities
are determined by chemical phenomena aone. Therefore, de Smet et a. (1999) developed a
reactor model, taking into account the relevant transport phenomena, to obtain the intrinsic
kinetic parameters of the CPO reaction.

The present paper reports on the development of a kinetic mode! for the catalytic partia
oxidation of methane on a single Pt metal gauze, in the presence of irreducible transport
phenomena. Experiments have been performed in which the influence of the catalyst
temperature, the reactant space-time, and the inlet methane-to-oxygen ratio was investigated.
The experimental data, together with the reactor model presented by de Smet et al. (1999),
will be used to estimate the corresponding intrinsic kinetic parameters. Specia attention will
be paid to primary products, and the importance of mass-transport limitations. Hence, the
conversions of methane and oxygen were maintained well below 100%.

5.2 Experimental equipment, procedures, and conditions

The partia oxidation of methane was studied in a continuous flow reactor set-up
containing a single Pt gauze catalyst (150 meshes/cn?, Wy = 5.72407 g, d,, = 0.2 mm). The
reactant gases were preheated, and subsequently passed over the Pt gauze catalyst. Heat-
transfer resistances were taken into account explicitly, since both the gas-phase temperature
and the temperature of the catalyst were measured directly during the experiments. The
catalyst temperature was determined by means of a surface thermocouple, constructed by
spotwelding a thin Pt-10%Rh wire (d,, = 0.1 mm) to the centre of the gauze catayst. An
optical pyrometer was used to vaidate the catalyst temperature measurements and to verify
the uniformity of the gauze temperature.

At typica experimental conditions, the measured catalyst temperatures were aways
significantly higher than the bulk gas-phase temperatures, indicating that strong heat-transfer
limitations indeed occur. Consequently, the measured catalyst temperature was used to
determine the intrinsic kinetic parameters of the CPO reaction. A tota number of 40
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atmospheric pressure experiments was performed at the range of conditions shown in Table
1. Note that the highest oxygen conversion amounts to 46%.

Table 1. Range of experimental conditions.

Catalyst temperature (K) 1023 - 1200

Total pressure (kPa) 130 - 165
Total flow rate (mmol s%) 1.5-20
W/Fciiao (g smol™) 10 - 130
CH,/O% 1.8-5.0
He dilution (%) 35-80

CH, conversion (-) 0.02-0.12

O, conversion (-) 0.09 - 0.46

The influence of the reactant space-time, W/Fqus0, and the inlet methane-to-oxygen
ratio on conversions and selectivities was investigated at a fixed catalyst temperature of 1123
K. The space-time was varied by adjusting the inlet total molar flow rate. The catalyst
temperature was kept at a constant value by decreasing the preheat temperature at increasing
space-times and decreasing CH4 /O, ratios. The influence of the inlet methane-to-oxygen
ratio was studied at constant total molar flow rate. The CH,/O, ratio was varied by adjusting
both the inlet molar flow rates of methane and helium, since the inlet molar flow rate of
oxygen was fixed. Additional details about the experimental equipment and procedures can
be found in de Smet et al. (1999).

At the high-temperature conditions applied in this study, gas-phase reactions may
become important. Berger and Marin (1999) developed a kinetic model for gas-phase chain
reactions at typical CPO conditions. Simulations using this kinetic model, together with a
plug-flow reactor model resulted in very low methane and oxygen conversions. This indicates
that gas-phase reactions can be neglected at the conditions applied. This is mainly caused by
the high total molar flow rates and the low reactant partia pressures applied during the
experiments.
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5.3 Modélling procedures
5.3.1 Reactor model

In order to obtain the intrinsic kinetic parameters that determine the CO production
rate, the reactor model developed by de Smet et al. (1999) was used. In this reactor model,
which takes into account the transport limitations, the complex 3D geometry of the gauze
catalyst was described by two rows of parallel flat plates in series (flat-plate reactor model,
see Figure 1).
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Figure 1. Schematic representation of the gauze catalyst and the flat-plate reactor model (A),
together with the characteristic dimensions of a single row of cylinders of the gauze catalyst and a
single row of flat plates in the flat-plate reactor model (B).

The volumetric surface area and the residence time in case of the actual gauze catalyst, and as
applied in the flat-plate reactor model are required to be identical. Consequently, the
characteristic dimensions of the flat-plate reactor model, i.e. the distance between the flat
plates, h, and the length of the flat plates, b, can be calculated from the gauze wire diameter
and the distance between the centres of two wires. The continuity equations account for mass
transport by means of axial convection and radial diffusion:
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23K, , *h : 2y.
wb 72 LY, =Dmi| 4 Y0 yZ' (1)
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where z and r correspond to the dimensionless axial and radial coordinates, and Dy, %% iS the
effective diffusion coefficient. The following initial and boundary conditions are used:

z=0U0<r<1/2: Yi =VYio (2)
2>0Ur=0: Wi-g 3)
qr
. C .
z>0Ur=1/2: - D i beXM:LA (4)
h qr

The mole fraction profiles are symmetric around the radial position r = 0. At the catalyst
surface, the molar flux is equal to the areal reaction rate, which is governed by the reaction
kinetics.

Since the reactant gases are flowing perpendicularly to the wires of the gauze catalyst,
complex flow patterns can develop as a function of the Reynolds number. These flow
patterns have a strong influence on the heat and mass-transfer rates. In order to account for
this influence in the reactor model, the effective diffusion coefficients were calculated using a
Sherwood-correlation for forced convection of gases to a cylinder in crossflow (Churchill and
Bernstein, 1977) and the diffusion coefficient in the absence of convection. In the isothermal
case this leads to:

dizgdl & g
<X o o 7
Sh=039+ 206™R e Re i (5)
, .
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and:
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P h 2 Sh
8 &D,.w g RESC

Equation (6) was derived by requiring identical conversionsin case of asingle row of parallel
cylinders and a single row of parallel flat plates (see Figure 1) at total mass-transfer limited
conditions.
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The set of partia differential equations, together with the initial and boundary
conditions, were solved numericaly, using the method of lines and the method of Gear in the
standard NAG-library routine DO3PGF (NAG Fortran Library, 1991). The resulting radial
mole fraction profiles at the reactor outlet were integrated, and used to calculate the
conversions and selectivities corresponding to a given reactant space-time, inlet methane-to-
oxygen ratio, and catalyst temperature. The complete derivation of the reactor model and the
solution procedure can be found in de Smet et al. (1999).

5.3.2 Parameter estimation

Intrinsic kinetic parameters were estimated by means of non-linear regression, using a
single-response Marquardt-Levenberg agorithm implemented in Odrpack (Boggs et al.,
1992). As the observed methane and oxygen conversions are completely determined by mass-
transport, the kinetic parameters are obtained from the least-squares criterion, applied to the
observed and calculated CO selectivity. The parameter estimates were tested for significance
by means of the approximate, individual t-values. The statistical significance of the global
regression was expressed by means of the Fratio, which is based on the ratio of the mean
calculated sum of sguares and the mean regresson sum of sguares. In order to avoid the
correlation between the activation energy and the pre-exponentia factor of the methane
adsorption rate coefficient, reparametrisation of the Arrhenius equation was applied (Kitrell,
1970):

Eact oexp@ Eact 9 1 1
gRT cat Tavg 5

.-II.- --II'-B:l

k = Aexp

(7)

in which T, is the average catalyst temperature of the experiments (Tag = 1115 K). The
total number of 40 experiments was used during the regression analysis.

5.4 Effects of reaction conditions

At the range of conditions investigated, CO, CO,, and H,O were the main products. H,
was found only at catalyst temperatures above 1273 K. At these temperatures, however, the
gauze catayst did not exhibit stable performance with time-on-stream. Platinum deposits
were found downstream of the gauze catalyst, as a result of the formation of volatile Pt-oxide
species. In addition, a slow increase of the reactant conversions with time-on-stream was
observed, which is generally ascribed to morphological changes of the Pt catalyst (Bergene et
a., 1996). In order to perform experiments at constant catalyst activity, the catalyst
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temperature was aways kept below 1200 K. The influence of the catalyst temperature, the
reactant space-time, W/Fcy40, and the inlet CH,/O, ratio on conversions and selectivities is

shown in Figures 2 to 4.
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Figure 2. Conversions and selectivities vs
catalyst temperature. Lines. calculated using
the flat-plate reactor model (de Smet et al.,
1999) and the kinetic model with
corresponding kinetic parameters listed in
Table 2. Points: experiments. Conditions; P;q
= 130 kPa, Fo = 1402 mol s', WiFcpa0 =
39.9 g smol™, CH,/O,/Hel% = 14.3/5.7/80.

Figure 3. Conversions and selectivities vs
space-time. Full lines: calculated using the
flat-plate reactor model (de Smet et al., 1999)
and the kinetic model with corresponding
kinetic parameters listed in Table 2. Dashed
lines: calculated at low space-times, outside
the range listed in Table 1. Points:
experiments. Conditions. P,y = 160 kPa, Te4
= 1123 K, CH4/O,/HeY, = 28.6/11.4/60.

Figure 4. Conversions and selectivities vs
inlet  methane-to-oxygen  ratio.  Lines:
calculated using the flat-plate reactor model
(de 9met et al., 1999) and the kinetic model
with corresponding kinetic parameters listed
in Table 2. Points. experiments. Conditions;
Piot = 130 kPa, Tor = 1123 K, Rt = 14072
mol s, yo,¥% = 0.114.
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10%Rh gauzes.

5.5 Kinetic model development

5.5.1 Reaction network

Figure 2 demondtrates that the methane and oxygen conversions are hardly temperature
dependent, indicating that the reaction rates are determined by transport phenomena. The
selectivity to carbon monoxide, however, varies considerably with catalyst temperature. The
CO production rate thus appears to be influenced significantly by the surface chemistry. The
measured methane and oxygen conversions increase at increasing reactant space-times, see
Figure 3. The selectivity to CO decreases at increasing space-time, which suggests that CO is
a primary product of the oxidation reaction. Figure 4 shows that both the methane and oxygen
conversions decrease at increasing CH,/O, ratio. The selectivity to CO increases considerably
a increasing methane-to-oxygen ratio. Similar trends were observed by Hickman and
Schmidt (1992), Heitnes Hofstad et a. (1996) and Fahti et al. (1998) using both Pt and Pt-

The kinetic model used in this work, which will be referred to as the oxygen-assisted

CPO mechanism, is shown in Table 2, together with the corresponding rate equations.

Table 2. Oxygen-assisted CPO reaction mechanism with corresponding rate equations and kinetic

parameters.
No. Reaction Rate equation Acgs® E.® Reference
1 Oyyt+2°® 20* n =kpoA. 0.023 0 Elg et al. (1997)
2 CHyg +20*® C*+2H0q+* 1 =KaPcnad.Go  2.3940° 482 Present work
3 C*+ 0O ® CO*+* r3 = kflcdo 140" 62.8  Hickman and Schmictt (1993)
4 CO*+0* ® CO, +2* rs =K 490000 140" 100 Campbell et 4. (1980)
5 CO"® COy +* s = kgl co 140" 126 McCabe and Schmidt (1977)
6 CO, +*® CO* I = KgPcod. 0.84 0 Campbell et al. (1981)

2 Units: Pa' s* (2), s* (3,4,5). ® Units kImol™. t-values: t (AyeXp(-Eaet 2/RT avg)) = 37.8, t (Eaer.2) = 5.5.
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The mechanism conssts of six reaction steps, oxygen and methane adsorption, surface
reactions towards CO and CO,, desorption and adsorption of CO are taken into account. All
reaction steps, with the exception of CO adsorption/desorption, are considered to be
irreversible. Thisis justified since both the methane and oxygen conversions are considerably
lower than 100%. Irreversible methane and oxygen adsorption may lead to a structuraly
unstable kinetic model, as a result of the occurrence of a transcritical bifurcation point
(Nibbelke et a., 1998). Reactor smulations with the kinetic parameters obtained after
regression show, however, that these structural instabilities do not occur. This is a result of
the low surface coverages of both adsorbed carbon and oxygen species at the conditions
investigated.

Oxygen adsorption. The first step in the reaction mechanism concerns the activation of
oxygen through dissociative adsorption. The adsorption rate is assumed to be first order in the

fraction of vacant surface sites 2. (Williams et al., 1992), which implies that the rate-
determining step in the adsorption involves the interaction of molecular oxygen with a single
catalytic site. Oxygen adsorption is considered to be competitive, in contrast to the
mechanism proposed by Hickman and Schmidt (1993). In the latter 19-step mechanism,
oxygen is assumed to adsorb on specific catalytic sites, i.e. non-competitively with other
species, in order to be able to simulate the experimentally observed O, adsorption-limited CO
production rate.

Methane adsor ption. Dissociative adsorption of methane, resulting in the formation of a
surface carbon species and gaseous water, is taken into account in step 2. Methane adsorption
is considered to be oxygenassisted, directly resulting in adsorbed hydroxyl species that
recombine instantaneoudly to gaseous water. Oxygen-assisted methane adsorption is included
in the kinetic modedl to be consistent with the observed decrease of the CO sdlectivity at
increasing space-times. This will be illustrated later, by examining analytical expressions for
the intrinsic selectivity to CO. Also, oxygen-assisted methane adsorption is in line with the
observation that H,O is the only hydrogen-containing product at the conditions investigated.

Reaction 2 obvioudy is not an elementary step, but proceeds through a number of
intermediates such as adsorbed CH, (x=1,3) fragments and adsorbed OH species. A possible
reaction sequence, accounting for the global methane adsorption step is shown in Table 3.
Methane adsorption on the Pt surface is considered to be reversible and in quasi-equilibrium.
The abstraction of the first hydrogen atom by adsorbed oxygen species is considered as the
rate-determining step in methane decomposition. The subsequent abstraction of hydrogen
atoms from adsorbed CH, fragments, and the recombination of hydroxyl species to water are
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potentialy very fast. As a result, no CH, species appear as surface intermediates in the
kinetic model. The global rate coefficient for dissociative adsorption of methane, k, is the
product of the equilibrium coefficient for molecular adsorption of methane and the rate
coefficient of the rate determining step 2b', see Table 3.

Carbon monoxide and carbon dioxide production. Steps 3 to 6 concern the reaction
paths towards carbon monoxide and carbon dioxide. Reaction 3 describes the formation of
adsorbed CO species, which is generally considered to be very fast (Hickman and Schmidt,
1993). Adsorbed CO species are converted to CO, in step 4, which desorbs instantaneously.
CO, adsorption is not taken into account in the kinetic model, since the heat of adsorption of
CO, on Pt is very low (Shustorovich, 1990). Finally, CO desorption and adsorption are
described in the kinetic model by steps 5 and 6.

Table 3. Possible reaction sequence for dissociative
methane adsor ption.

No. Reaction S;
5
2a CHyy +* Vg Ch, + 1
k2a,des
|
2b CHy* +O* %%® CHy * + OH* 1
Il
CHy* +O* % %4® CH, * + OH* 1
11
CH,* +O* %%® CH* +OH * 1
gllll 1
CH* + O* % ¥#® C* + OH *

2c  OH*+OH* %%® H,0,+0*+* 2

2 CHyy+20* %%® C*+2H,0, +*

5.5.2 Surface species mass-balances

The kinetic model as shown in Table 2 involves five molecules and four surface
species. The steady-state mass-balances for the surface species are written as:
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C-balance: K2PcH4d.90 - Kflclo =0 (8)
O-balance: 2KiPofd, - XKoPcrad.90 - KAD o -Kidcodo =0 9)
CO-balance: KAdo - Kfcolo - Kedco +KePcod, =0 (10)
Vacant sites; dc +do +0co *d, =1 (11)

The terms in Equations (8) to (10) are in units s*. The mass-balances were solved
numerically in the flat-plate reactor model, using a modified Newton-Raphson method in the
NAG-library routine COSNBF (NAG Fortran Library, 1991). The turnover frequencies of the
individual surface steps are used to determine the net areal production and consumption rates
of al components. These rates are entered into the flat-plate reactor model, via the boundary
condition at the catalyst surface, see Equation 4.

5.5.3 Consistency of the oxygen-assisted CPO mechanism with experimental results

In order to illustrate the qualitative consistency of the oxygen-assisted CPO mechanism
with the observed decrease of the CO selectivity with increasing space-time (Figure 3), the
intrinsic CO selectivity is considered at given axial reactor coordinate z:

Scofy" =80 =1- 4 (12)
z r )

The intrinsic selectivity to CO is thus defined as the ratio of the intrinsic CO production rate
to the intrinsic methane disappearance rate. Substitution of the corresponding rate equations
resultsin:

int k Kk
SCO|Ian —q1. fdcdo  _ 4. _Kdco (13)

KoPcha9-do K 2P0
Since both the methane adsorption rate and the CO, production rate are proportional to the
oxygen surface coverage, the CO sdectivity is independent of qgo. The CO
adsorption/desorption reaction is approximately in equilibrium at sufficiently high reactant
space-times, as will be shown later. As a result, the CO adsorption equilibrium coefficient,
equal to Kco ags = Ke/ks = 200/ (2 pco), can then be substituted into Equation (13):
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inr _ ., KaKcoaasPco

Scol, =1-—"— (14)
KoPcha

Hence, the intrinsic CO selectivity is determined by (i) the rate coefficients of the CH,4

adsorption and CO, production steps, (ii) the ratio of the rate coefficients for CO

adsorption/desorption, as well as (iii) the partial pressures of CO and CH, at the catalyst

surface. According to Equation (14), the intrinsic selectivity for CO will decrease at

increasing space-times, when the ratio of the partia pressures of CO and CH, increases.

The measured gas-phase partial pressures of methane, oxygen, and carbon monoxide at
the reactor outlet are shown in Figure 5a as a function of space-time. These observed partial
pressures are bulk values, and therefore only provide an indication of the actua partial
pressures at the catalyst surface. The influence of space-time on the intrinsic CO selectivity
can nevertheless be understood qualitatively. As methane is present in excess during the
experiments, the partial pressure decreases only dlightly at increasing space-time. The partial
pressure of CO increases considerably at increasing space-times. As a result, the ratio of the
partia pressures of CO and CH, (see Figure 5b) increases at increasing space-time, and
consequently, theintrinsic CO selectivity will decrease (Equation (14)).

In case of dssociative methane adsorption, resulting in adsorbed carbon and hydrogen
species (Hickman and Schmidt, 1993, Bui et al., 1997, Deutschmann et a., 1998a, 1998b)
without the involvement of O-adatoms, the CH, disappearance rate is given by:

ry = KoPeHad« (15)
Theintrinsic CO selectivity now becomes:

int k
Sl =1- ~Hccfo (16)
K2PcHAd

and when the CO adsorption/desorption reaction is at quasi-equilibrium:

i k K Pcod
nt 48 coadsPcolo
Seo™ =1- 5 (17)

KoPcha

In this case, the intrinsic CO selectivity is also governed by the surface coverage of oxygen.
The oxygen surface coverage follows from the steady-state mass balances of adsorbed carbon
and oxygen and can be written in this case as.

2k1po2 - 3KoPcH4
— 18
k4K co,adsPco (18)
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Substitution of Equation (18) into (17) resultsin:

Scoly” =4- 2P (19)
KoPcra

Because of the stoichiometric excess of methane, the decrease of the partial pressure of O, at

increasing space-time is more pronounced than the decrease of the CH, partial pressure, see

Figure 5a. The ratio of the partial pressures of oxygen and methane consequently decreases

(Figure 5b), and the intrinsic selectivity to CO will increase at increasing space-times, which

is not consistent with the experimental observations.
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Figure 5. Measured bulk partial pressures (A), and partial pressure ratios (B) at the reactor outlet
vs space-time. Conditions. see Figure 3.
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The current analysis thus indicates that the influence of space-time on the intrinsc CO
selectivity can only by accounted for when methane adsorption is considered to be oxygen
assisted. Dissociative methane adsorption into adsorbed carbon and hydrogen species will
lead to increasing intrinsic CO selectivities with increasing space-time. In addition,
simulations with the kinetic mode of Hickman and Schmidt (1993) for CPO on P, in which
dissociative methane adsorption is taken into account, showed that significant amounts of
hydrogen are formed even in the presence of non-converted O,. This observation is also not
consistent with the experimental results.

5.5.4 Kinetic parameter determination

The adsorption rate coefficients of O, and CO were calculated from collision theory:

Keg) = 30 (20)

L+ (PM;RTcy)
in which s, is the initial sticking coefficient, and L; the total surface concentration of active
sites, taken as 1.67 10° mol m,™ Campbell et al. (1981) investigated CO chemisorption on

Pt(111) at 310 K, and reported an initial sticking coefficient of 0.84, which is used in this
work. In case of oxygen adsorption on Pt, a wide range of sticking coefficients can be found
in literature. Elg et a. (1997) investigated the temperature dependence of the initia sticking
coefficient of oxygen on Pt(111). It was shown, that  decreased exponentially from a value
of 0.054 at 300 K t0 0.023 at 670 K. Here, the high temperature value of 0.023 was used.

The pre-exponentia factors of reactions 3, 4 and 5 were set at atypical value of 10 s?,
which approximately corresponds to the value predicted by the transition state theory
(Zhdanov et d., 1988). The corresponding activation energies were taken from literature, see
Table 2. Two kinetic parameters had to be estimated by regression: A and E, of reaction 2.
The estimated parameter values, together with the corresponding t-values are shown in Table
2. The t-values indicate that the estimates of the Arrhenius parameters of the methane
adsorption are statistically significant. The Fvaue of the regresson amounts to 1900; the
binary correlation coefficient is 0.85. Figure 6 ows a parity plot of the experimenta and
calculated CO selectivities. The deviation between the observed and calculated values is
usually within 15%.
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Figure 6. Calculated vs experimental CO selectivities. Calculated values obtained with the flat-
plate reactor model (de Smet et al., 1999) and the kinetic model with corresponding kinetic
parameters listed in Table 2. Experimental conditions. see Table 1.

5.5.5 Physico-chemical assessment of the parameter estimates

As mentioned earlier, the rate coefficient k; is given by the product of the equilibrium
coefficient of molecular methane adsorption, and the rate coefficient of the rate determining
step 2b', see Table 3. The activation energy of the rate-determining step 2b' thus follows
from:

_ |obal 0
Eact,Zb' = Egc? - DHggs (21)

in which EJ% s the globa activation energy of dissociative methane adsorption, and
DHYthe standard adsorption enthalpy of methane. Substitution of the estimated global

activation energy, 48.2 kJ mol™, and the standard adsorption enthalpy of methane, DHOy= -
25.1 kJ mol™ (Shustorovich, 1990), results in an activation energy of the rate-determining
step 2b' of 73.3 kJ mol™. In the literature, no data was found regarding the activation energy
of oxygenassisted methane adsorption. The calculated value, however, is higher than the
reported activation energy of 43.1 kJ mol™ (Anderson and Maoney, 1988) for dissociative
methane adsorption into adsorbed carbon and hydrogen species.

The standard activation entropy of the oxygenassisted methane adsorption reaction,
can be calculated from the estimated pre-exponentia factor, using:
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0
Az ! Zeps Rk (22)
hp R ﬂ
in which A, is in units bar! s?, i.e. with 1 bar as standard pressure. Substitution of the
estimated value of A, and the average catalyst temperature of the experiments, Ta,q = 1115 K,

results in 0'S)= -65.6 J mol™ K™. The activation entropy corresponds to the total entropy
change in the oxygen-assisted methane adsorption reaction, including both the entropy loss
during methane adsorption, step 2a, and the rate-determining step 2b', see Table 3. The
standard gas-phase entropy of methane at T,y approximately amounts to 250 J mol™ K™,
This indicates that the calculated activation entropy is physicaly realistic, since the methane
molecule cannot 1ose more entropy than it possesses.

5.6 Simulation results and discussion
5.6.1 Influence of space-time

The experimental and ssmulated conversions and selectivities are shown in Figure 3 as
a function of space-time. The dashed lines in Figure 3 represent the calculated conversions
and selectivities at low W/Fqysp ratios, outside the experimental range shown in Table 1.
Clearly, the measured methane and oxygen conversions are simulated accurately. As
indicated before, the oxygen sticking coefficient was fixed at a value of 2.330 An increase
of Sopp did not result in significantly higher conversions as expected for the mass-transfer
limited regime. The experimentally observed decrease in the CO selectivity with increasing
space-time is well reproduced by the model. The calculated selectivities, however, are lower
than the experimental values at low W/Fcys0, and dightly higher at high W/Fq4 ratios.

The calculated surface coverages together with the CO and CO, production rates at the
reactor outlet are shown in Figure 7. The surface coverage of carbon monoxide
approximately amounts to 0.15, while the coverages of carbon and oxygen are in the order of
10°. At increasing space-times, the oxygen surface coverage decreases rapidly, as a result of
the higher oxygen conversion. The carbon monoxide coverage increases first, and levels off
at W/Fcnap ratios larger than 20 g s mol™. The CO and CO, production rates both decrease at
increasing space-time. However, the decrease of Rco is much more pronounced at low
W/Fcnap ratios, which results in a lower value of the CO selectivity at increasing space-time.
At W/Fcso ratios greater than 20 g s mol™, the ratio between Ry and Regp remains
approximately constant, and the initial decrease in the CO selectivity is levelled off
significantly.
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Figure 7. Calculated surface coverages (A), CO, and CO, production rates (B) vs space-time.
Dashed lines. simulation results at low space times, outside the range in Table 1. Conditions: see

Figure 3.
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5.6.2 Primary formation of carbon monoxide

Figure 7 indicates, that the calculated CO and CO, production rates at the catalyst
surface are very high and, hence, are certainly affected by mass-transport limitations. In order
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to investigate the influence of the intrinsic kinetics on CO formation, calculations were
performed at conditions where no transport limitations occur for the reactants and products.
Intrinsic conversions and selectivities were obtained by increasing the molecular diffusion
coefficients of all gas-phase species with a factor 10, using the kinetic parameters listed in
Table 2. A further increase of the molecular diffusion coefficients did not result in
significantly higher conversions and selectivities, which indicates that the calculated results
indeed correspond to the intrinsic values. The intrinsic conversions and selectivities are
shown in Figure 8 as a function of the reactant space-time, together with the conversions and
selectivities obtained without adjusting the molecular diffusion coefficients.
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Figure 8. Conversions and selectivities vs space-time. Full lines. calculated with the flat-plate reactor
model (de Smet et al., 1999) and the kinetic model with corresponding kinetic parameters listed in
Table 2. Dashed lines: intrinsic values, calculated by increasing the molecular diffusion coefficients of
all gas-phase species with a factor 10, using the same kinetic model. Points; experimental results.
Conditions: see Figure 3.

It is clear, that the intrinsic methane and oxygen conversions are significantly higher
than the corresponding values in case of the actual diffusion coefficients. The intrinsic
selectivity to CO is also considerably higher than the value calculated without adjusting the
diffusion coefficients, but is still decreasing with increasing space-times. The decrease of the
CO sdlectivity with increasing space-time is evidently caused by the kinetics of the surface
reactions. An explanation can be given using the schematic representation of the oxygen
assisted CPO reaction mechanism as shown in Equation (23):
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CH, 4/ O, CO,

I

C* +O* —5—> CO* — 7> CO,,

At intringc conditions, in the absence of mass-transport limitations, the partial pressures of
the reactants and products at the catalyst surface are identical to the values in the bulk of the
gas phase. At low space-times, i.e. a low methane and oxygen conversions, the partial
pressure of CO is relatively small, as well as the CO adsorption rate (step 6). At increasing
W/Fcu4p ratios, the CO partial pressure increases, thus enhancing the CO adsorption rate.
This is dso reflected in Figure 9, in which the dimensonless affinity of the CO
adsorption/desorption reaction is plotted at intrinsic conditions as a function of space-time.

0.0 [rszzmees

AIRT /[

_0.6I|I|I|I|I|I|I
0O 10 20 30 40 50 60 70

WIF._,./[gsmol?l]

CH4O

Figure 9. Calculated dimensionless affinity of the CO adsor ption-desor ption reaction vs space-time.
Conditions:; see Figure 3.

The dimensionless affinity is obtained from:

&‘6 O
RTcat %r5 2 (24
and is a measure of the degree at which the CO adsorption/desorption equilibrium is
approached. At low W/Fgy,o ratios, the dimensionless affinity is relatively high, which
indicates that the CO adsorption/desorption reaction is reversible, but not at equilibrium. At
these conditions, the intrinsic selectivity to CO is given by Equation (13). At increasing
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values of the reactant space-time, the dimensionless affinity decreases rapidly, as the CO
adsorption/desorption equilibrium is approached. At W/Fgu ratios larger than 25 g s mol™
the CO adsorption reaction is within 2.5 % of its equilibrium. At these space-times, the
intrinsic selectivity to CO is given by Equation (14). The observed decrease of the CO
selectivity at increasing space-times is thus caused by the asymptotic approach of the CO
adsorption/desorption reaction towards its equilibrium.

Figure 9 dso indicates, that the dimensionless affinity in case of the actua diffusion
coefficients is much smaller than the affinity corresponding to the intrinsic situation. This is
evidently caused by mass-transport limitations for CO at these conditions. As a consegquence
of these transport limitations, the CO partia pressure at the catalyst surface is considerably
higher than the bulk partial pressure. The CO adsorption rate is thus much higher than in case
of the intrinsic regime, which results in lower selectivities to CO. In addition, Figure 9
indicates that the CO adsorption equilibrium is already reached at much lower space times.
As a result, the decrease of the CO selectivity with increasing space-times is much more
pronounced, and is levelled off significantly at high space-times.

5.6.3 Initial CO selectivity

Figure 8 indicates, that high CO selectivities are calculated at low values of the reactant
space-time. At these conditions, the CO adsorption/desorption reaction is reversible, but not
in equilibrium. The intrinsic CO selectivity can thus be represented by Equation (13). This
equation can be used to calculate the value of the initial CO selectivity, i.e. the selectivity at
W/Fcugo = 0. At this W/Fcyp ratio, CO adsorption can be neglected. The ratio of the surface
coverages of adsorbed CO and vacant Sites, see Equation (13), can now be solved
analytically, using the steady-state balances for adsorbed C, O, and CO species:

- 5 ,
- k 5 tag 6 Y

SCO“:;“ =1- 4 o0 -2, .|'§~+a; + 2y (253)

KoPcha O« 2 2 b

inwhich:
kiks p

q = K1K4 Pop (25b)
koKs Pcha

Substitution of the corresponding rate coefficients and inlet partial pressures of methane
and oxygen results in an initidl CO selectivity of 0.93 at the conditions applied during the
W/Fcuso experiments. The minimum value of the initial CO selectivity is found at a catalyst
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temperature of 1023 K, and corresponds to 0.86, while a maximum value of 0.96 is found at
an inlet methane-to-oxygen ratio of 5. Obvioudy, CO, is produced over the entire range of
W/Fcuqp ratios. However, the analysis does show, that CO is the most important primary
product.

5.6.4 Influence of catalyst temperature

The experimental and smulated conversions and selectivities as a function of the
catalyst Emperature are shown in Figure 2, at a W/Fgus0 ratio of 40 g s mol™. As expected
for a mass-transfer limited regime, the calculated conversions are hardly influenced by the
catalyst temperature. The simulated conversions are dightly lower than the experimentally
observed values. The observed increase in the CO selectivity at increasing catalyst
temperature is predicted accurately. The latter observation clearly indicates, that the kinetics
of the surface reactions are indeed crucia in determining the absolute value of the CO
production rate.

The corresponding surface coverages together with the CO and CO, production rates as
a function of the catalyst temperature are shown in Figure 10. At increasing temperature, the
desorption rate of CO is considerably enhanced, resulting in a decrease of the surface
coverages of carbon, oxygen and carbon monoxide. The CO, production rate decreases
dightly at increasing catalyst temperatures. This is mainly caused by the large decrease of the
oxygen surface coverage. At increasing temperature, R increases rapidly: the decrease of
the CO surface coverage with increasing temperature is obviously more than compensated by
the large increase of the CO desorption rate coefficient. As a result of the increase of the CO
production rate, and the decreasing CO, production rate, the selectivity to CO increases at
increasing catalyst temperatures (Figure 2).
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Figure 10. Calculated surface coverages, (A) and CO, and CO, production rates (B) vs catalyst
temperature. Conditions: see Figure 2.

5.6.5 Influence of CH4/O, ratio

Figure 4 demonstrates that the effect of the inlet methane-to-oxygen ratio on the
conversions and selectivities is also accurately simulated. The corresponding calculated
surface coverages, and the production rates of CO and CO, at the reactor outlet are shown in

Figure 11 as a function of CH4/O,%. At increasng methane-to-oxygen ratios, the surface
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coverages of adsorbed carbon and carbon monoxide increase, while the coverages of oxygen
and vacant surface sites decrease. The increase of the surface coverage of adsorbed carbon is
mainly caused by the increase of the CH, partia pressure at increasing methane-to-oxygen
ratios. The decrease of the oxygen surface coverage, is more pronounced than the increase of
the CO coverage, which results in decreasing CO, production rates at increasing CH4/O,
ratios. The CO production rate, however, increases at increasing CH4/ O, ratios, which results
in the observed increase of the CO selectivity.
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Figure 11. Calculated surface coverages (A), and CO, and CO, production rates (B) vs inlet
methane-to-oxygen ratio. Conditions. see Figure 4.
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5.7 Conclusions

The catalytic partia oxidation of methane was studied at atmospheric pressure on a
single Pt gauze catalyst. The structured laboratory reactor proved to be a valuable
experimental tool to determine the intrinsic kinetics of the CPO reaction, as the catalyst
temperature was measured directly. It was shown that CO, CO,, and HO were the man
products at oxygen conversions lower than 100 %. Both the methane and oxygen conversion
rates were determined by mass transport, whereas the selectivity to CO was aso influenced
significantly by the kinetics of the surface reactions.

A Kkinetic model conssting of 6 reactions among 5 molecules and 4 surface
intermediates was developed to describe the experimental observations. Oxygen-assisted
methane adsorption was shown to be consistent with the experimental results. In order to
obtain the corresponding kinetic parameters, a reactor model without adjustable parameters
was applied that takes into account the mass-transport phenomena in a quantitative way.
Single-response regression, applied to the observed CO selectivity, resulted in statistically
significant and physically meaningful estimates of the intrinsic kinetic rate parameters of the
methane adsorption.

The effects of catalyst temperature, reactant space-time, and inlet methane-to-oxygen
ratio on the conversions and selectivities could be simulated adequately by the model. The
modelling results indicate initial CO selectivities between 0.86 and 0.96. In addition, the
present work quantitatively illustrates the role of surface kinetics and mass-transfer in CO
formation.
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Notation

A pre-exponential factor (s*, s* Pa™), affinity (Jmol™)
Aca catalyst surface area (nf)

Cip total concentration at bulk conditions (mol ni®)

dw wire diameter (m)
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molecular diffusion coefficient in mixture (nf s%)

distance between the centres of two wires (m)
activation energy (kJmol™)

inlet molar flow rate of CH4 (mol s™)
volumetric flow rate at bulk conditions (nT s%)
distance between two flat plates (m)

Planck constant (= 6.6262 10 J 5)
methane adsorption enthalpy (kJ mol™)
Boltzmann constant (= 1.3807 102 JK™)
reaction rate parameter (s*, s* Pa?)

CO adsorption equilibrium coefficient (Pa)
total surface concentration (mol m?)
molecular mass (kg mol™)

partial pressure (Pa)

dimensionless radia reactor coordinate (-)
areal reaction rate (mol m?s™)

gas constant (Jmol™ K™

net production rate (s?)

Reynolds number (-)

standard activation entropy (J mol™ K™
selectivity to carbon monoxide (-)

initial sticking coefficient (-)

Schmidt number (-)

Sherwood number (-)

t-value (-)

average temperature of the experiments (K)
catalyst temperature (K)

catalyst mass (g)

conversion of methane (-)
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Xoz conversion of oxygen (-)

Vi mole fraction (-)

z dimensionless axial reactor coordinate (-)
Greek symbols

a parameter (-)

O fractional surface coverage (* = vacant site)
Subscripts

0 Inlet

eff Effective

ini Initial

intr Intrinsic

z at dimensionless axial position z
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Design of adiabatic fixed-bed reactors for the partial
oxidation of methane to synthesis gas. Application to
production of methanol and hydrogen-for-fuel-cells

This chapter will be published in Chem. Eng. Sci.

Abstract - Adiabatic fixed-bed reactors for the catalytic partial oxidation (CPO) of methane to
synthesis gas were designed at conditions suitable for the production of methanol and hydrogen-
for-fuel-cells. A steady-state, one-dimensional heterogeneous reactor model was applied in the
simulations. Intraparticle concentration gradients were taken into account explicitly, by solving
the continuity equations in the catalyst pellet at each position along the fixed-bed reactor
coordinate. The reactor designs are based on supported Ni catalysts, which catalyse the indirect
formation of synthesis gas via total oxidation followed by steam reforming and water-gas shift.
Atmospheric, air-based fixed-bed CPO reactors for fuel-cell applications are feasible due to low
catalyst temperatures. At high-pressure methanol conditions, however, catalyst deactivation will
be very important as a result of the calculated high catalyst temperatures. The influence of the
steam-reforming rate was investigated separately by performing simulations with the kinetic
reforming models proposed by Numaguchi and Kikuchi (1988) and Xu and Froment (1989). The
influence of the oxidation kinetics was studied as well. Application of different reforming models
leads to significantly different maximum catalyst temperatures. Also, the possible occurrence of
gas-phase reactions was investigated: homogeneous reactions will be very important at conditions

suitable for methanol production.

Keywords: Partial oxidation; Adiabatic fixed-bed reactor; Reactor simulations; Methanol

production; Fuel cell; Kinetics; Gas-phase reactions
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6.1 Introduction

The potential of catalytic partial oxidation (CPO) as a novel route to convert methane
into synthesis gas has been investigated intensively in the past decade. Many catalysts and
reactor configurations have been studied on a laboratory scale. Transition metal catalysts, in
particular Ni and Rh, are presently considered to be the most promising. The high-cost and
limited availability of noble metals imply that Ni catalysts are preferred from an industrial
standpoint. In spite of the intensive research efforts, however, industrial application of CPO
has not been realized yet. The choice of suitable operating conditions and scale-up problems
relating to catalyst stability and process safety still require considerable attention. At
industrial conditions, i.e. at high temperatures and pressures, hot-spot formation due to
exothermal oxidation reactions can lead to severe catalyst deactivation. This applies in
particular to Ni catalysts, that promote synthesis gas production via indirect partial oxidation,
i.e. via total combustion of part of the methane and subsequent reforming of the remaining
methane. Process safety mainly concerns the possible occurrence of explosions and runaways
at high operating pressures, due to homogeneous gas-phase reactions. In order to gain insight
into these phenomena and to obtain suitable conditions for synthesis gas production via CPO
on an industrial scale, detailed reactor modelling is required.

De Groote and Froment (1996a) have simulated adiabatic fixed-bed reactors for the
catalytic partial oxidation of methane to synthesis gas at high temperatures and pressures (Pyo
= 25 bar, T, = 808-1785 K), using a supported Ni catalyst. A one-dimensional, heterogeneous
reactor model was used in their calculations, taking into account the continuity, energy, and
pressure drop equations. Intraparticle diffusion limitations were expressed in terms of
uniform effectiveness factors, i.e. the corresponding values were considered to be constant
along the reactor coordinate, independent of concentration and temperature. The intrinsic
kinetics of the reforming, water-gas shift, and the oxidation reactions were taken from Xu and
Froment (1989) and Trimm and Lamm (1980), respectively. Special attention was paid in the
calculations to coke formation and the influence of the degree of reduction of the catalyst.
The results indicated that CPO can be carried out on an industrial scale, i.e. at catalyst
temperatures within acceptable limits (Ts < 1473 K), when air is used instead of oxygen or
when steam or carbon dioxide are added to the feed.

Ostrowski et al. (1998) simulated the catalytic partial oxidation of methane to synthesis
gas at industrial conditions (P = 5 and 30 bar, T, = 1023-1073 K) using both fixed-bed and
fluidized-bed reactors. The kinetics proposed by De Groote en Froment (1996a) for Ni
catalysts were used in the calculations. The simulation results indicated that low synthesis gas

yields are obtained in case of fixed-bed reactors, as a result of the large influence of
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intraparticle diffusion limitations. Equilibrium conditions were achieved in this case when the
space time was increased by a factor of 6. In the fluidized-bed reactor, significantly higher
yields are achieved at identical space-times. In the latter case, small catalyst particles were
applied compared to the fixed-bed reactor, and the effect of pore diffusion on the reaction
rates was negligible. It was shown that integrated product separation by means of membranes
can improve the synthesis gas yields significantly.

Despite the industrial potential of CPO reactors, few additional studies have been
reported in the field of reactor design and simulation. The objective of this work is therefore
to obtain more detailed insight into fixed-bed CPO reactors for the production of methanol
and hydrogen-for-fuel-cells, using supported Ni catalysts. In case of the 10 kW fuel-cell
application considered, atmospheric operating conditions are applied, and air is used as
oxygen source. The fixed-bed CPO reactor suitable for the production of 1000 metric tons per
day (MTPD) methanol concerns high pressures (40 bar), and feed mixtures containing
oxygen instead of air. Adiabatic conditions are assumed to obtain insight into the operational
limits of the CPO reactors. Special attention will thus be paid in the simulations to hot-spot
formation. The effect of the intrinsic reforming and oxidation kinetics on the hot-spot
temperature will be investigated. In addition, the possible occurrence of gas-phase reactions
will be studied.

6.2 Model description and solution procedure
6.2.1 Reactor model

Adiabatic fixed-bed CPO reactors were simulated using a steady-state 1-dimensional
heterogeneous reactor model. Both external concentration and temperature gradients as well
as intraparticle concentration gradients are taken into account. The catalyst particle is
assumed to be isothermal: the main transport resistance inside the catalyst pellet is due to
mass transfer, even in case of highly exothermic reactions (Froment and Bischoff, 1990). The
gas-phase and solid-phase continuity and energy equations are presented in Table 1 together
with the corresponding initial and boundary conditions.

The transport mechanism in the axial direction is considered to be of the plug-flow
type. Axial dispersion of heat and mass is neglected. In addition, pressure drop was found to
be negligible at the investigated conditions. Species concentrations are expressed in units
mol; kg, ', which implies that the increase of the total number of moles due to reforming is
accounted for implicitly in the reactor model (Bos and Westerterp, 1991). Intraparticle

concentration gradients are often expressed in terms of constant effectiveness factors for the
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reactions involved, to reduce the required computational time (De Groote and Froment,
1996a, De Groote et al., 1996b, Ostrowski et al., 1998). Gosiewski et al. (1999), however,
showed that the calculated maximum catalyst temperatures in case of reverse-flow CPO
reactors can be underestimated by more than 200 K when constant effectiveness factors are
assumed. Hence, intraparticle concentration gradients are taken into account in this work by
solving the pellet-scale continuity equations at each point along the adiabatic fixed-bed

reactor coordinate.

Table 1. Reactor model equations with corresponding boundary conditions

d 0OC
Gas phase ¢m—%é+ kgaV(Ci —CiSS)ZO (1)
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dT,
¢mcpd—g+hfaV(Tg—Ts)=0 (2)
| =
Solid phase f rp2 2 gt dE or w,iPs 3)
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In case of multi-component mixtures, molecular diffusion should be described by
means of the Stefan-Maxwell theory. Preliminary reactor simulations were performed to
investigate the effect of multi-component diffusion. The effective binary diffusion
coefficients were calculated in this case according to the Wilke equation. Application of the
Stefan-Maxwell equations, however, resulted in severe numerical problems. In order to
reduce the computational complexity, Stefan-Maxwell calculations were performed in the
absence of external concentration gradients. Only minor differences on the calculated
concentration and temperature profiles were observed compared to those based on effective
binary diffusion. At conditions suitable for methanol production, the difference between the
calculated maximum catalyst temperatures was limited to 5 K. This is mainly caused by the
small differences in diffusion coefficients of the different reactants and products.
Consequently, diffusion in the catalyst pellet was described by Fick's law, assuming effective
binary diffusion (see Eq. (3) in Table 1).
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The corresponding effective diffusion coefficients are calculated from the Bosanquet
equation, i.e. from the molecular and Knudsen diffusion coefficients, corrected for the pellet
porosity and tortuosity (0.53 and 4.0, respectively). The physical constants pr and c, are
considered to be a function of composition and temperature. The mass (ky) and heat-transfer
(hy) coefficients are calculated from Chilton-Colburn j-factors (Yoshida et al., 1962).

6.2.2 Reaction kinetics

As the reactor simulations concern the indirect partial oxidation of methane to synthesis
gas on supported Ni catalysts, rate equations for the total combustion, steam reforming, and
water-gas shift reactions have to be combined in the calculations. Many kinetic models for
steam reforming are available in the literature. In order to investigate the influence of the
reforming kinetics on the simulation results, two intrinsic reforming models were considered:
(i) the reforming model proposed by Xu and Froment (1989), and (ii) the kinetic model
derived by Numaguchi and Kikuchi (1988). These models will be referred to as the XF and
NK models, respectively. The kinetics of methane combustion were taken from Trimm and
Lamm (1980). Since this kinetic model was derived for supported Pt catalysts, the
corresponding adsorption parameters were adjusted for Ni. The Ni catalyst was assumed to be
in the reduced state, which implies that total combustion and reforming occur in parallel, c.f.
Blanks et al. (1990), Ostrowski et al. (1998), and Gosiewski et al. (1999).

Intrinsic reforming and water-gas shift kinetics

Xu and Froment (1989) investigated the intrinsic kinetics of methane steam reforming
using a Ni/MgO-Al,O; catalyst. The kinetic experiments were conducted with hydrogen in
the feed (Ho/CH4 = 1.25) to avoid reoxidation of the Ni catalyst by steam. An elementary step
kinetic model was proposed, and used to construct Langmuir-Hinshelwood rate equations for
steam reforming towards CO and CO,, as well as for the water-gas shift reaction, see Table 2.
Note that the different rate equations display a negative order in the partial pressure of
hydrogen. The reaction rates consequently become infinite when the partial pressure of
hydrogen is zero. Xu and Froment (1989) indicate, however, that simulation of an industrial
reformer will not suffer from this problem, since the feed generally contains some hydrogen.
In the present work, infinite reaction rates were avoided in case of simulations with the XF
reforming model, by adding some hydrogen to the feed mixture. The corresponding values of
the kinetic and adsorption parameters are listed in Tables 4 and 5. The XF reforming model

was obtained using relatively low temperatures, 773 < T, < 848 K, and pressures between 3
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and 15 bar. During the indirect partial oxidation of methane to synthesis gas, however, high
catalyst temperatures can occur due to the exothermal total combustion reaction. In addition,

high operating pressures will be required in case of CPO reactors for methanol production.

Table 2. Reaction rate equations for methane oxidation, reforming, and water-gas shift reactions used

to simulate the adiabatic fixed-bed reactors: reforming kinetics of Xu and Froment (1989)

Reaction Rate equation

klapCH4p02 klprH4p02

= +
(1+K&,Pen, + K(())xzpoz)2 (1+K&,Pcn, +K3,Po,)

ey

1 CH,+20, - CO, +2H,0

Xu ;. 25 3
k3" / P, Pcn,PH,0 ~ PH,Pco / Keq,2)

2 CH,+H,0 « CO+3H, L=

2
(1 +KcoPco + Ky, Pu, + Ken,Pen, + Kiu,0PH,0/ Ph,)
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Table 3. Reaction rate equations for total oxidation, reforming, and water-gas shift reactions used to

simulate adiabatic fixed-bed reactors: reforming kinetics of Numaguchi and Kikuchi (1988)

Reaction Rate equation

klapCH4p02 + klprH4 Po,

| CH,+20, - CO,+2H,0 1§ = - — — —
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3 CO+H,0 - CO,+H, = (*)
a3 B3
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(*) Coefficients a; and [3; obtained by Numaguchi and Kikuchi (1998) by fitting the gas-phase composition at the oulet of the
fixed-bed reactor: o, = 0.0, B, =0.596, a; = 0.0, 3;=0.0
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Table 4. Arrhenius parameter values for combustion, reforming, and

water-gas shift reactions

Reaction  Kinetic model A E.ot (KJ mol'l)

la Trimm and Lam 8.1110° 86.0

1b Trimm and Lam 6.82 10° 86.0

2 Xu and Froment 1.17 10" 240.1
Numaguchi and Kikuchi 2.6210° 106.9

3 Xu and Froment 5.4310° 67.1
Numaguchi and Kikuchi ~ 2.45 10’ 54.5

4 Xu and Froment 2.83 10" 243.9

* Units: (1a), (1b): mol bar™ kgca{l s (2): Xu and Froment: mol bar®? kgca{1 s
Numaguchi and Kikuchi : mol bar 404 kgca{1 s, (3): mol bar’ kgca{1 s, (4): mol
barOAS kgca[-l S-l

Table 5. Van 't Hoff parameter values for the adsorption

reactions
Component AKy)' AH; (kJ mol™)
CH, (combustion) 1.26 10 273
O, (combustion) 7.87 107 92.8
CH, 6.65 10" 383
CcoO 8.23 107 -70.7
H, 6.12 107 -82.9
H,0 1.77 10° +88.7

* Units: CHy(combustion), O,(combustion), CH4, CO, H,: bar", H,0: -
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Hence, the kinetic model proposed by Numaguchi and Kikuchi (1988), derived at

higher catalyst temperatures (up to 1160 K), and higher pressures (up to 25 bar), was also

used to simulate adiabatic fixed-bed CPO reactors. Langmuir-Hinshelwood rate equations for

steam reforming towards CO and for the water-gas shift reaction were proposed by the

authors, see Table 3, based on a rate-determining surface reaction step. The corresponding

values of the kinetic rate parameters are shown in Table 4. The catalyst properties and applied

reaction conditions are presented in Table 6. The Ni-content of the NK catalyst evidently is

lower than the catalyst used by Xu and Froment. The Ni-surface areas, however, are more or

less identical and allow a reasonable comparison of both kinetic models.
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Table 6. Catalyst specifications

Trimm and Lam  Xu and Froment Numaguchi and Kikuchi

(1980) (1989) (1988)
Catalyst Pt/Al,05 Ni/MgALO4 Ni/AlO5
Metal content (wt%) 0.4 15.2 8.7
Metal surface area (m’/g) 4.9 4.1 3.6
Density, p; (kg m,”) 2130 1870 1970

In order to examine the apparent differences between the applied rate equations for
methane steam reforming, the corresponding reforming rates were calculated as a function of

operating pressure, see Figure 1.
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Figure 1. Methane steam-reforming rates in case of the XF and NK reforming models vs total
pressure. Conditions: CH,/OxH,O/H, = 33.3/16.7/49.9/0.1, Ts = 800 K.

Figure 1 clearly indicates that the reforming rate decreases considerably at increasing total
pressure in case of the XF model, whereas the reforming rate increases in case of the rate
equation proposed by Numaguchi and Kikuchi. These trends were also observed at various
other feed compositions and catalyst temperatures. The large difference between the
calculated reforming rates in case of the NK and XF models (note the different y-axis in
Figure 1) is mainly caused by the negative partial reaction order with respect to hydrogen in
the latter model. During the reactor simulations, i.e. in the presence of significant amounts of
hydrogen, the difference between the calculated reforming rates is less pronounced.

Application of the proposed rate equations at different operating pressures can thus lead to
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significantly different temperature and concentration profiles at the scale of the reactor. This
will be illustrated in more detail when discussing the simulation results in case of the low-
pressure reactor for fuel-cell applications, and the high-pressure reactor for methanol

production.

Intrinsic kinetics of methane oxidation

The intrinsic kinetics of methane oxidation have been studied extensively in the
literature on noble metal catalysts (Pt, Rh, Pd, Ir), at low catalyst temperatures (T < 1000 K),
and at fuel-lean conditions, i.e. at O,/CH,4 ratios > 1. Relatively few studies were carried out
using Ni catalysts. Aryafar and Zaera (1997) investigated methane oxidation on Ni foils at
catalyst temperatures up to 973 K, using fuel-lean conditions and low reactant partial
pressures. The reaction rate was found to be first order with respect to the methane
concentration and zeroth order with respect to oxygen. Power-law rate equations are
generally limited to a narrow range of operating conditions. In addition, fuel-lean conditions
and low reactant partial pressures bear little relation to partial oxidation, in which O,/CHy4
ratios < 0.5 and high operating pressures are applied.

Hence, the Langmuir-Hinshelwood rate equation proposed by Trimm and Lamm (1980)
for methane oxidation on supported Pt catalysts, valid at temperatures above 830 K, and at
0,/CHj4 ratios between 0.3 and 5, was used in this work. The corresponding rate equation is
shown in Tables 2 and 3. The first term of the rate equation accounts for the reaction between
molecularly adsorbed methane and oxygen, while the second term describes the Eley-Rideal
reaction between molecularly adsorbed methane and gaseous oxygen. It should be noted that
Trimm and Lamm (1980) accounted for the latter reaction using po,'’?, which evidently is not
correct. Consequently, the Eley-Rideal reaction is described using po; in the numerator of the
second term in the corresponding rate equation.

Trimm and Lamm (1980) used a non-linear regression method to estimate the rate
coefficients and adsorption constants at a fixed temperature of 830 K. In this work, the
corresponding adsorption constants for methane and oxygen on Pt were adjusted for Ni

catalysts. The adsorption constant is written as:

0 0 0
K?X = exp BA& —AiH: A(Kl)epo— %H (8)

R RTH d RT 4

The standard CH4 and O, adsorption enthalpies in case of Pt and Ni were taken from
Shustorovich (1990). The standard adsorption entropies on platinum were calculated next,
using the reported values of K(CH,4) and K(O,) at 830 K, together with the corresponding
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adsorption enthalpies for Pt. The standard adsorption entropies in case of Ni, are assumed to
be identical to the values obtained for Pt. The adsorption enthalpies and entropies for Ni were
used accordingly to calculate the adsorption constants, see Table 5.

The rate coefficients k;, and ki, listed in Tables 2 and 3, are considered to be
dependent on temperature according to an Arrhenius type equation. The values of ki,, ki,
and the high-temperature global activation energy (86 kJ mol™) reported by Trimm and
Lamm (1980), were used to calculate the corresponding pre-exponential factors, see Table 4.
The activation energies of the surface and Eley-Rideal reactions are considered to be
identical. The calculated values of the pre-exponential factors were not adjusted for Ni. The
influence of the oxidation kinetics on the simulation results, however, will be investigated

separately in this paper.
6.2.3 Solution procedure

The model equations (1)—(4) form a set of differential and algebraic equations.
Integration along the reactor coordinate was carried out using the NAG-library routine
DO02NGF (NAG Fortran Library, 1991). This routine integrates a set of ordinary differential
equations coupled with algebraic equations using the Backward Differentiation Formulae
(BDF). The solid-phase continuity equations were solved at each increment of the axial
direction by means of the method of orthogonal spline collocation (Finlayson, 1972). In this
method, the differential equations are approximated by trial functions, consisting of a set of
orthogonal polynomials. The species concentrations inside the catalyst particle are calculated
at the collocation points, i.e. at the roots of the orthogonal polynomials, from a set of
algebraic equations. Two collocation intervals are applied in this work, since the
concentration gradients are expected to be limited to a thin layer near the catalyst surface.
The corresponding spline-point was positioned at a dimensionless pellet coordinate of 0.95.
Both in the first and second collocation interval, 10 collocation points were defined. The
resulting algebraic equations were solved at each increment of the axial reactor coordinate
using the NAG-library routine COSNBF (NAG, 1991), in which a modified Newton-Raphson
method is applied. Rapid convergence is obtained when sufficiently accurate initial estimates
of the concentration profiles are applied.

In case of a heterogeneous reactor model accounting for external concentration and
temperature gradients, both the catalyst temperature as well as the surface concentrations are
unknown. In order to obtain the initial guess of the latter variables, i.e. the value at the first point
in the fixed-bed reactor, both the heat production rate in the catalyst (Qg), and the heat removal

rate in the film surrounding the catalyst particle (Qg) were calculated as a function of the catalyst
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temperature, see Figure 2. In this figure, the NK reforming model was applied, and the operating
conditions correspond to the high-pressure methanol case. The Qg and Qg curves were obtained
by integration of the solid-phase continuity equations together with the corresponding boundary
conditions, using a step-wise increase of the catalyst temperature. The calculations were always
started at a low value of the catalyst temperature, to avoid numerical difficulties due to large
intraparticle concentration gradients. The intersection point of the heat production and heat
removal curves gives the initial steady-state temperature and corresponding surface
concentrations for the catalyst particle. At this intersection point, the condition implied by the

solid-phase energy equation, see Eq. (4) in Table 1, is thus satisfied.
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Figure 2. Heat production rate in the catalyst particle (Qg), and heat removal rate in the film
surrounding the catalyst particle (Qg) vs catalyst temperature. Conditions: methanol case, see Table

7. Kinetic model: see Table 3; Parameter values: see Tables 4 and 5.

Figure 2 clearly indicates that the initial catalyst temperature can be significantly higher
than the actual gas-phase temperature. Possible transient behavior of the fixed-bed reactor due to
the difference between the initial gas-phase and the catalyst temperature (Froment and Bischoff,
1990) is neglected in this work. The procedure for the calculation of the initial catalyst
temperature and intraparticle concentration profiles was always applied prior to the integration in
the axial direction. In each reactor increment, the intraparticle concentration gradients of the
previous step were used to solve the solid-phase continuity equations in the next step. This
procedure resulted in rapid convergence of the model equations: the average computational times
on a Silicon Graphics Cray Origin2000 computer did not exceed 300 s.
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6.3 Model simulation results
6.3.1 Reactor dimensions and operating conditions

The reactor and catalyst dimensions, as well as the operating and equilibrium
conditions used to design CPO reactors for methanol and hydrogen-for-fuel-cells production,
are shown in Table 7. In case of the fuel-cell application, the fixed-bed CPO reactor is
operated at atmospheric pressure. The applied mass-flux and pellet diameter resulted in
negligible pressure drop. The reactor diameter was calculated from the mass-flux and the
required hydrogen capacity to operate a 10 kW fuel cell. At 50% fuel-cell efficiency, the
latter capacity approximately corresponds to 2.5 10 mol/s Hy. The applied inlet CH4/O, and
H,0O/CHjy ratios resulted in maximum equilibrium methane conversion and hydrogen yield.
Air was used as oxygen source because operation of an oxygen separation unit is not

economic at the scale applied.

Table 7. Reactor dimensions, catalyst dimensions, and operating conditions

Simulation case Fuel cell Methanol

Reactor and catalyst

Capacity 10 kW 1000 MTPD
d; (m,) 0.1 1.6

Ir (my) 0.5 3.0
& (m’ym™,) 0.43 0.43
1, (my) 25107 7.510°
Operating conditions

Py (bar) 1 40
T, (K) 773 773
Om (kgm,” s™) 0.15 10
Feed composition

CH./O,L 2.0 1.8
H,O/CH,4L, 1.5 1.0
Oxygen source air (0)3

Equilibrium conditions
T, (K) 971.7 1286.6

Xcttaeq (%) 98.5 94.6
H,/CO[, 423 2.64
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The fixed-bed CPO reactor suitable for 1000 MTPD methanol production is operated at
high pressure, to reduce downstream compression costs. The reactor length required to obtain
equilibrium conditions amounted to 3 m. As in case of the fuel-cell application, the applied
mass flux and pellet diameter resulted in negligible pressure drop. The reactor diameter was
calculated from the required methanol capacity and the equilibrium methane conversion rate.
The applied CH4/O, and H,O/CH4 ratios of the feed resulted in maximum methane
conversion and a H,/CO ratio suitable for methanol production. Oxygen was used instead of
air in the methanol case to avoid downstream nitrogen separation. In both cases, an inlet gas-

phase temperature of 773 K was selected.

6.3.2 Fuel-cell case

A fixed-bed reactor suitable for the operation of the 10 kW fuel cell was investigated
first, using the reactor and kinetic models discussed in section 6.2.1 and 6.2.2, and the
solution procedure presented in section 6.2.3. The calculated catalyst temperature profiles
along the reactor coordinate are shown in Figure 3 for both the XF and NK reforming
models. In case of the NK reforming model, the catalyst temperature first increases due to the
large amount of heat produced in the methane oxidation reaction. The catalyst temperature
then reaches a maximum value of 1003 K, and decreases consecutively as a result of the
prevailing endothermic reforming reaction. Note that the simulation results indicate a local
minimum of the catalyst temperature of 948 K. This minimum value is caused by the
complex interplay between the heat consumed in the reforming reaction, and the heat
produced in the water-gas shift and oxidation reactions. Finally, the catalyst temperature
increases to the equilibrium temperature of 972 K. The pronounced temperature increase, and
subsequent decrease towards equilibrium is characteristic of indirect CPO catalysts (Prettre et
al., 1946, Vermeiren et al., 1992). The relatively low value of the maximum -catalyst
temperature indicates that catalyst deactivation will not be important in this case. The catalyst
temperature at the reactor inlet is approximately 40 K higher than the inlet gas-phase
temperature. This temperature difference decreases rapidly at increasing axial reactor
coordinate: at the position of Tsmay, the gas-phase temperature amounts to 1001 K. Beyond
the temperature maximum, the gas-phase and catalyst temperatures are approximately equal
within 3 K.
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Figure 3. Catalyst temperatures vs axial reactor coordinate in case of the NK and XF reforming
models. Simulation conditions: fuel-cell case, see Table 7. Kinetic model: see Tables 2 and 3;

Parameter values: see Tables 4 and 5.

The simulation results in case of the XF reforming model show that the catalyst
temperature initially decreases due to the prevailing endothermic reforming reactions. The
catalyst temperature then reaches a minimum value: at this position, the gas-phase and
catalyst temperatures are identical. The catalyst temperature consecutively increases to the
equilibrium temperature: a hot spot is clearly not observed. This marked difference between
the calculated temperature profiles is caused by the significantly higher reforming rates in
case of the XF model at the applied conditions. The reforming rate at the reactor inlet is
considerably higher than the methane oxidation rate. As a result, the initial catalyst
temperature first decreases. Beyond the minimum value of T, the heat produced in the
methane oxidation reaction is sufficiently high to cause an increase of the catalyst
temperature. However, the net heat of reaction remains relatively low throughout the reactor,
and a hot spot is therefore not observed. The gas-phase and catalyst temperatures are
approximately equal beyond the observed minimum, indicating that external heat-transport
limitations are insignificant.

The calculated axial mole-fraction profiles, obtained in case of the NK reforming
model, are shown in Figure 4. The reactant and product mole fractions were calculated
according to: y; = (Ci/py) / (ZiCi/pg). Figure 4 indicates that both the methane and oxygen
mole fractions decrease rapidly. At z = 0.1 m, approximately 95% of methane and oxygen has
been converted. Since the Ni catalyst was assumed to be in the reduced state during the

simulations, the reforming and oxidation reactions occur in parallel. As a result, significant
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amounts of H, and CO are observed in the first part of the reactor. In the second part of the
reactor, the calculated mole fractions become approximately constant as the equilibrium
conditions are approached. In case of the simulations with the XF model, the decrease of the
reactant mole fractions and increase of the product mole fractions is much less pronounced
(not shown in Figure 4). This is obviously caused by the low catalyst temperatures
throughout the fixed-bed reactor. However, the calculated mole fractions at the reactor outlet

are equal to the equilibrium values for both models.
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Figure 4. Reactant and product mole fractions vs axial reactor coordinate in case of the NK

reforming model. Simulation conditions: fuel-cell case, see Table 7. Kinetic model: see Table 3;

Parameter values: see Tables 4 and 5.

Typical intraparticle mole-fraction profiles are shown in Figure 5 in case of the
simulations with the NK reforming model. The calculated mole fractions are plotted as a
function of the axial reactor coordinate and the dimensionless pellet coordinate. Significant
intraparticle mole-fraction gradients occur for both the reactants and products. These

gradients become less pronounced at increasing values of the axial reactor coordinate.
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Figure 5. Intraparticle reactant and product mole fractions vs axial reactor coordinate and
dimensionless pellet coordinate in case of the NK reforming model. Simulation conditions: fuel-cell

case, see Table 7. Note that the reactor-coordinate axis has been inverted in case of the CO,, CO, and
H, mole fractions.
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The mole fractions of CHy, O,, H,O, and CO, decrease gradually in the first part of the
reactor. In case of carbon monoxide, a maximum is observed in the mole-fraction profile.
Near the reactor inlet, significant amounts of CO are produced by the reforming reaction. At
increasing values of the axial reactor coordinate, however, the rate of the water-gas shift
reaction increases significantly, thereby decreasing the intraparticle CO mole fractions.

As indicated previously, intraparticle concentration gradients are generally taken into
account in the literature by means of constant effectiveness factors for the reactions involved
(De Groote and Froment, 1996a, Ostrowski et al., 1998). In case of the simulations with the
NK reforming model, however, the calculated average and surface reaction rates revealed that
the effectiveness factors varied considerably along the axial reactor coordinate, e.g. 0.06 <
n(ref) < 0.61, and 0.08 < n(ox) < 0.48. This indicates that the intraparticle concentration
gradients indeed have to be accounted for by solving the solid-phase continuity equations at
each position in the fixed bed reactor. Constant effectiveness factors inevitably will lead to
different concentration and temperature profiles.

6.3.3 Methanol case

The catalyst temperature profiles in case of the fixed-bed CPO reactor suitable for
methanol production are shown in Figure 6. Here, the NK and XF reforming models both
result in a temperature maximum in the first part of the reactor. In case of the NK model, the
maximum catalyst temperature amounts to 1455 K, while the XF model results in a
maximum catalyst temperature of 1512 K. The latter observation clearly contrasts with the
results presented in the previous section for the low-pressure fuel-cell case. As indicated in
Figure 1, total pressure exerts a strong negative influence on the reforming rate in case of the
XF model, whereas the reforming rate increases with total pressure in case of the NK model.
At the high pressure applied in the methanol case, the latter trends effectively result in lower
reforming rates in case of the XF model compared to the NK reforming model, which is
reflected in the observed difference between the maximum catalyst temperatures.

The catalyst temperatures at the reactor inlet (approximately 1330 K) are considerably
higher than the inlet gas-phase temperature, see also Figure 2. At the position of the
temperature maximum, the temperature difference between the gas-phase and the catalyst is
significantly lower, and approximately amounts to 40 K for both the XF model and NK
model. The calculated maximum catalyst temperatures clearly indicate that adiabatic fixed-
bed CPO reactors in case of methanol production are expected to suffer from severe catalyst

deactivation.
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Figure 6. Catalyst temperatures vs axial reactor coordinate in case of the NK and XF reforming
models. Simulation conditions: methanol case, see Table 7. Kinetic model: see Tables 2 and 3,

Parameter values: see Tables 4 and 5.
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Figure 7. Reactant and product mole fractions vs axial reactor coordinate in case of the NK
reforming model. Simulation conditions: methanol case, see Table 7. Kinetic model: see Table 3;

Parameter values: see Tables 4 and 5.

Typical axial mole-fraction profiles are shown in Figure 7 in case of the simulations
with the NK reforming model. The oxygen conversion is complete at z = 0.75 m. The
methane mole fraction decreases gradually along the axial reactor coordinate, and reaches its
equilibrium value at the reactor outlet. The equilibrium values of the H,, CO, CO,, and H,O
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mole fractions are approached at approximately 2 m reactor length. The observed trends in
the intraparticle mole-fraction profiles are more or less similar to the profiles shown in Figure
5 for the fuel-cell case. The mole-fraction gradients, however, are much more pronounced at
the applied reaction conditions. The calculated effectiveness factors were approximately
constant in this case along the axial reactor coordinate: n(ref) = 102, n(WGS)
=107, n(ox) = 10~.

6.4 Model sensitivity analysis
6.4.1 Influence of the oxidation state of the Ni catalyst

The simulation results presented in this work were obtained using the assumption that the
Ni catalyst is in the reduced state. According to Dissanayake et al. (1991), however, the oxidation
state of supported Ni catalysts can vary considerably throughout a fixed-bed CPO reactor. It is
suggested additionally that different oxidation states, such as NiAl,O4 and NiO, correspond with
different combustion and reforming activities. De Groote and Froment (1996a) incorporated the
effect of the variable Ni oxidation state in the simulation of fixed-bed CPO reactors, by
multiplying the rates of the steam reforming and water-gas shift reactions with a so-called
reduction factor. This reduction factor is assumed to depend on the fractional oxygen conversion
according to (Xop)'?. The power in this reduction factor was determined by trial and error with
respect to the calculated maximum catalyst temperature, using a CH4/O, feed.

Reactor simulations were performed by De Groote and Froment (1996a) using this
reduction factor (VDR-model), and the corresponding results were compared to simulations in
which the catalyst was assumed to be in the reduced state (BV-model). In both cases, the
reforming kinetics proposed by Xu and Froment (1989) and the oxidation kinetics from Trimm
and Lamm (1980) were used. At the applied conditions (py = 25 bar, CH4/O,} = 1.67, H,O/CHy4
= 1.4), a maximum in the catalyst temperature profile was only observed in case of the VDR-
model. The BV-model resulted in a gradual increase of the catalyst temperature to the
equilibrium value. Note that the latter observation was also found in case of the simulation results
obtained with the XF model at fuel-cell conditions, see Figure 3.

The results presented in this work in case of the NK model, and the XF model at high
pressure, show that a maximum in the catalyst temperature profile is also observed when the
Ni catalyst is assumed to be in the reduced state. A priori assumptions with respect to the
oxidation state of the Ni catalyst are clearly not required in the latter cases. Nevertheless,

additional simulations were performed to investigate the effect of the oxidation state of the Ni
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catalyst. The reduction factor proposed by De Groote and Froment (1996a) was used in the
calculations.

At conditions suitable for methanol production, the calculated maximum catalyst
temperatures are slightly higher (approximately 10 K) when the reduction factor is
incorporated in the reactor model. In case of the fixed-bed reactor for fuel-cell application,
using the NK reforming model, the maximum catalyst temperature was only 65 K higher.
Hence, catalyst deactivation due to high temperatures will not be important in this case either.
The catalyst temperature profile in case of the XF model at fuel-cell conditions was hardly
influenced by the applied reduction factor: the catalyst temperature still increased gradually

towards the equilibrium value.

6.4.2 Influence of the oxidation kinetics

The kinetic rate constants for methane oxidation on Pt, obtained by Trimm and Lamm
(1980) at a fixed catalyst temperature of 830 K, were converted in this work to an Arrhenius
type expression, see section 6.2.2. The corresponding pre-exponential factors, however, were
not adjusted for the Ni catalyst. In general, Ni catalysts are considered to be less active
compared to Pt in promoting methane oxidation (Ma et al., 1996). Hence, the influence of the
methane oxidation rate on the simulation results was investigated separately by performing
calculations at reduced intrinsic total oxidation activity, i.e. at reduced values of the pre-
exponential factors of the oxidation rate constants. The reforming kinetics and operating
conditions were taken identical to the previous simulations.

Table 8 shows the calculated initial, maximum, and outlet catalyst temperatures
obtained with the NK reforming model at different values of the rate constants for methane
oxidation. At fuel-cell conditions, decreasing values of the rate constants ki, and k;}, result in
lower values of the different catalyst temperatures. This observation clearly illustrates that the
methane oxidation rate is not completely determined by mass-transport phenomena at the
conditions applied. The influence of the decreasing oxidation rate constants is particularly
reflected in case of the maximum catalyst temperatures. A 2-fold decrease of k;, and ki
results in a reduction of the maximum temperature by 82 K. At 10 and 25% of the original
oxidation activity, a maximum value of the catalyst temperature is not observed. In this case,
the catalyst temperature increases gradually towards the reactor outlet. The outlet catalyst
temperatures indicate that equilibrium is not achieved at the reactor outlet at decreasing
values of the rate constants. In order to obtain the required methane conversion and hydrogen

yield, the reactor length has to be increased in these cases.
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Table 8. Influence of the oxidation kinetics on the calculated initial,
maximum, and outlet catalyst temperatures in case of simulations with the
reforming model of Numaguchi and Kikuchi (1988).

Fuel-cell case Methanol case

kla, klb Ts,initial (K) Ts,max (K) Ts,outlet (K) Ts,initial (K) Ts,max (K)

*1.00 818 1003 972 1338 1455
* (.75 801 970 971 1332 1452
* (.50 792 921 967 1318 1447
* (.25 779 @ 954 1270 1433
*(.10 772 @ 885 848 1409

M Catalyst temperatures at the reactor outlet correspond to the equilibrium temperature

2 . s
@ A maximum value of the catalyst temperature was not observed in this case

At conditions suitable for methanol production, the calculated maximum catalyst
temperatures decrease only slightly at lower values of the oxidation rate constants. This is
caused by the large influence of mass-transport limitations on the oxidation rate. High
catalyst temperatures are thus calculated, even at low values of the methane oxidation rate
constants, indicating that catalyst deactivation remains inevitable. At decreasing values of the
oxidation rate constants, the heat production curve (Qg, see Figure 2) is shifted progressively
to lower catalyst temperatures. As a result, the initial catalyst temperatures decrease. A 10-
fold decrease of the oxidation rate constants, however, results in a more than proportional
decrease of the initial catalyst temperature. In this case, the initial steady-state catalyst
temperature corresponds to the intersection point of the heat-removal curve (Qgr) and the low-
activity branch of the heat-production curve.

In case of the simulations with the XF reforming model, identical trends were observed.
At fuel-cell conditions, the catalyst temperature at the reactor outlet decreased progressively
at lower values of the oxidation rate constants. In case of methanol production, the initial and

maximum catalyst temperatures decreased slightly at reduced oxidation activity.

6.5 Influence of gas-phase reactions

At the conditions applied during the reactor simulations, i.e. at high temperatures and
pressures, homogeneous gas-phase reactions can become important. In order to investigate
the influence of gas-phase reactions on reactor operation, simulations have to be performed
taking into account the homogeneous and heterogeneous reactions simultaneously. In the

literature, a few homogeneous gas-phase kinetic models are available. These models
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generally consist of a large number of reactions, involving many molecules and radical
species. To avoid the complexity and large computational times associated with the
combination of these models with heterogeneous reactions, the possible occurrence of gas-
phase reactions was investigated separately in this work by means of off-line reactor
simulations. In these simulations, only gas-phase reactions are considered: heterogeneous
reactions are not taken into account.

Calculations were performed with the gas-phase kinetic model proposed by Berger and
Marin (1999), using an adiabatic, one-dimensional plug-flow reactor model. The kinetic
model is based on data obtained at typical CPO conditions, i.e. at pressures up to 8 bar,
temperatures up to 1300 K, and inlet methane-to-oxygen ratios between 2.1 and 3.1. At the
most severe conditions in the fixed-bed CPO reactors, i.e. at the maximum catalyst
temperatures obtained in the fuel-cell and methanol cases, residence times required to achieve
complete homogeneous oxygen conversion were calculated. The calculations are based on the
local gas-phase composition corresponding to the calculated maximum catalyst temperature,
i.e. on feed mixtures containing both the reactants and products. The calculated residence
times were then compared to the corresponding residence times in the fixed-bed reactor
required for complete heterogeneous oxygen conversion.

In case of the fuel-cell simulations using the NK reforming model, the residence time
required for complete heterogeneous oxygen conversion amounts to 0.21 s. The residence
time for complete homogeneous conversion equals 0.57 s. This indicates that gas-phase
reactions are not likely to play a significant role at these conditions. In case of the CPO
reactor for methanol production, the required residence times amount to 0.15 s and 1.5 10 s,

respectively. At these conditions, gas-phase reactions will be inevitable.
6.6 Conclusions

A steady-state, one-dimensional heterogeneous reactor model was used to design adiabatic
fixed-bed CPO reactors for methanol and hydrogen-for-fuel-cells production. Intraparticle
concentration gradients were taken into account explicitly, by solving the corresponding
continuity equations at each position along the reactor coordinate. The initial guess of the catalyst
temperature was obtained from the intersection point of the calculated heat-removal (Qg) and
heat-production (Qg) curves. The required computational times generally did not exceed 300 s.
The simulation results indicated that adiabatic fixed-bed CPO reactors for fuel-cell applications
are feasible due to low catalyst temperatures, typically below 1000 K. In case of CPO reactors for
methanol production, however, high catalyst temperatures ( > 1450 K) were observed, which

implies that catalyst deactivation will be very important.
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Application of the reforming models proposed by Xu and Froment (1989) and Numaguchi
and Kikuchi (1988) resulted in significantly different catalyst temperature profiles at the low-
pressure fuel-cell conditions. The NK model resulted in a temperature maximum of 1003 K in the
first part of the reactor. In case of the XF model, the catalyst temperatures were significantly
lower, and increased gradually to the equilibrium temperature of 972 K. A maximum in the
catalyst temperature profile was not observed. In case of the fixed-bed reactors for methanol
production, both the XF and NK models resulted in a temperature maximum in the first part of
the reactor. Here, the highest catalyst temperature (1512 K) was observed with the XF model.

In the methanol case, the oxidation kinetics hardly affect the observed temperature profiles
as a result of mass-transport limitations. At fuel-cell conditions, reduced total oxidation activity
resulted in significantly lower catalyst temperatures. The influence of both the reforming and
oxidation kinetics thus indicates that bench-scale testing and determination of the intrinsic
kinetics of novel catalysts remains essential for reliable reactor design and operation. In case of
the low-pressure fuel-cell case, gas-phase reactions are not likely to ignite, which implies safe and
stable reactor operation. At conditions suitable for methanol production, however, gas-phase

reactions will be very important.
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Notation

a, external pellet surface area per unit reactor volume, miz mr'3

Aj pre-exponential factor, reaction dependent

Cp specific heat at constant pressure, J kg™ K

G molar concentration of species i, mol mg'3

Cis intraparticle molar concentration of species i, mol mg'3

Chis molar concentration of species i, at the external pellet surface, mol mg'3
d, reactor diameter, m,

De; effective diffusion coefficient of species A in catalyst, rng'3 mp'1 gt

hs gas-to-solid heat transfer coefficient, W mi'z K!

AHY standard adsorption enthalpy, J mol™

-AH; heat of formation of species i, J mol™!
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ke gas-to-solid mass transfer coefficient, mg3 mi'z gt

k; reaction rate constant of reaction 1, reaction dependent

Keg,i equilibrium constant of reaction i, reaction dependent

K adsorption constant for component i in reforming and water-gas shift reactions, bar”
K;** adsorption constant for component i in combustion reaction, bar’

I, reactor length, m,

NK reforming model of Numaguchi and Kikuchi (1988)

pi partial pressure of component i, bar

Pt total pressure, bar

Qa heat production rate in the catalyst, W m,”

Qr heat removal rate in the film surrounding the catalyst particle, W m,”

I rate of reaction 1, mol kgca{1 gt

Ip pellet radius, m

Ry net catalytic production rate of species i per unit catalyst mass, mol kg’ s
AS;? standard adsorption entropy, J mol” K'

T, gas-phase temperature, K

T, gas-phase temperature at equilibrium conditions, K

Ts solid temperature, K

Ts max maximum solid temperature, K

Ts outlet solid temperature at the reactor outlet, K

XCHdeq conversion of methane at equilibrium conditions, -

Xoo fractional oxygen conversion, -

XF reforming model of Xu and Froment (1989)
Vi mole fraction of species i, mol; molto{1

z axial reactor coordinate, m,

Greek symbols

€p void fraction of packing, mg3 m,”

Ps catalyst density, kg mp'3

Pr fluid density, kg m,>

& dimensionless pellet coordinate, -

Om superficial mass flow velocity, kg m,” s
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General conclusions & Outlook

The research described in this thesis focused at the reaction kinetics of the catalytic
partial oxidation (CPO) of methane and at reactor modelling of synthesis gas production via
CPO at industrially relevant conditions. The kinetic investigations were carried out at low
conversions to obtain insight into the primary reaction products. Reactor modelling was aimed

at the design of fixed-bed reactors for methanol and hydrogen-for-fuel-cells production.

The literature review indicated that group VIII metal catalysts, in particular Ni and Rh,
are the most active and selective for the CPO reaction. Kinetic studies using these catalysts
remain essential, however, considering the ongoing debate with respect to the reaction
mechanism. Monolith reactors were found to be the most suitable configuration for synthesis
gas production. Nevertheless, practical difficulties, e.g. the influence of homogeneous gas-

phase reactions and transport limitations, still require considerable attention.

Homogeneous gas-phase reactions were found to be very important at the conditions of
high temperature and pressure as applied in case of the 0.3 wt% Rh/a-Al,O; catalyst. This was
concluded from simulations with a gas-phase kinetic model, which was derived from
homogeneous gas-phase experiments. At 1345 K, the heterogeneous catalytic reactions on the
Rh catalyst resulted in production of the total oxidation products. Direct catalytic partial

oxidation of methane to synthesis gas was found to occur at 1273 K.

The gauze reactor proved to be a valuable tool to study the intrinsic kinetics of the
catalytic partial oxidation of methane in the presence of heat-transport limitations. The
experimental results at low oxygen conversions showed that CO was a primary product. The
intrinsic kinetics of CO formation were obtained using a kinetic model, together with a reactor
model accounting for the transport limitations in a quantitative way. Oxygen-assisted methane

adsorption had to be incorporated into the kinetic model to describe primary CO formation.



158 Chapter 7

Single-response regression resulted in statistically significant and physically meaningful
estimates of the intrinsic kinetic rate parameters of methane adsorption. The effects of catalyst
temperature, reactant space-time, and inlet methane-to-oxygen ratio on the conversions and
selectivities were simulated adequately. The role of surface kinetics and mass-transfer in CO

formation was illustrated quantitatively.

A one-dimensional heterogeneous reactor model was used to study the CPO reaction at
conditions which cannot be realised safely in a laboratory reactor. Low catalyst temperatures were
simulated in case of the 10 kW fuel-cell application, whereas fixed-bed reactors for 1000 MTPD
methanol production involved high catalyst temperatures. Different reforming models resulted in
significantly different catalyst temperature profiles at low-pressure fuel-cell conditions. A
temperature maximum was always observed in the first part of the reactor at methanol conditions,
independent of the applied reforming model. Homogeneous gas-phase reactions are not likely to
ignite in case of the fuel-cell application, which implies safe and stable operation. At methanol

conditions, however, gas-phase reactions will be very important.

The experimental data at low conversions clearly allowed to investigate the primary products
of the CPO reaction in detail. Incomplete oxygen conversions in case of the Rh/a-Al,O; catalyst,
however, corresponded to low catalyst activity. Homogeneous gas-phase reactions consequently
occurred to a significant extent at the applied conditions of high temperature and pressure. A
quantitative description of the observed conversions and selectivities thus requires the simultaneous
consideration of both homogeneous and heterogeneous reactions. The gauze reactor allowed to
study the intrinsic kinetics of the CPO reaction in the presence of transport limitations. Due to the
relatively low temperatures and the presence of significant amounts of unreacted oxygen, hydrogen
was not observed. Nevertheless, detailed quantitative insights into primary CO formation could be
obtained for the first time. The reactor simulations clearly showed that fixed-bed reactors for
hydrogen-for-fuel-cells production hold great promise. Indeed, industry is currently involved in
commercialising CPO technology for hydrogen-powered vehicles. Also, microchannel CPO
reactors are attracting widespread attention. In such microreactors, the throughput level of
conventional reactors can be maintained, while dramatically reducing the reactor size.
Microchannel CPO reactors combined with fuel cells could become the future standard for portable

power generation, e.g. in laptop computers and cellular phones.
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Stellingen

behorende bij het proefschrift

Partial Oxidation of Methane to Synthesis Gas:
Reaction Kinetics and Reactor Modelling

van Carlo R.H. de Smet

Bij onvolledige zuurstofconversie en hoge temperaturen tijdens de katalytische parti€le
oxidatie van methaan over a-Al,O3 en Rh/a-Al,0O3, wordt de productie van ethaan en

etheen volledig bepaald door homogene gasfasereacties (Hoofdstuk 3 van dit
proefschrift).

Voor betrouwbare kinetische studies omtrent de katalytische parti€le oxidatie van
methaan, is in-situ meting van de katalysatortemperatuur noodzakelijk (Hoofdstuk 2 en
4 van dit proefschrift).

Het 19-staps mechanisme van Hickman en Schmidt (AIChE. J., 44, 1164-1177, 1993)
is niet in staat om de toename van de CO-selectiviteit bij lage ruimtetijden te

beschrijven.

Primaire vorming van CO tijdens methaanoxidatie over een Pt-gaas, kan alleen worden
verklaard wanneer de methaanadsorptie als zuurstof-geassisteerd wordt verondersteld
(Hoofdstuk 5 van dit proefschrift).

Katalytische parti€le oxidatie van methaan voor de productie van waterstof-voor-
brandstofcellen zal, gezien de gunstige bedrijfscondities, in de nabije toekomst

commerciéle toepassing vinden (Hoofdstuk 6 van dit proefschrifi).

In het bedrijfsleven is de scheidingslijn tussen afkortingen en zelfstandige

naamwoorden afwezig.



10.

11.

12.

De ‘feel-good’ factor van wonen en werken in Zeeland is zeer groot.

De toekenningen van de Zilveren Harp en de Gouden Harp aan producenten van

House-muziek geven aan dat kwaliteit altijd boven komt.

Als ‘groene chemie’ daadwerkelijk kleur zou bekennen, zou de wereld een stuk schoner

worden.

De huidige daling van de werkeloosheid leidt tot banenverlies.

Reality-tv nivelleert het begrip ‘bekende Nederlander’.

De begrippen ‘massatoerisme’ en ‘ecotoerisme’ dienen opnieuw te worden gedefinieerd
wanneer de groei van het aantal Chinese vakantiegangers doorzet (Volkskrant, 8 januari
2000).
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