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Abstract 

Sorption Enhanced-Steam Methane Reforming (SE-SMR) is a promising process which allows producing in a single reactor a 
hydrogen-rich syngas from natural gas, while capturing the CO2 by reaction with a solid sorbent. 
Scope of this paper is to investigate the potentiality of the SE-SMR process coupled to a combined cycle, by estimating the plant 
performance and by discussing the main issues related to plant layout and reactors characteristics. The calculated net efficiency 
and carbon capture ratio are comparable with that obtained for a competitive technology based on Auto-thermal Reforming 
(ATR), but advantages could result from the higher plant simplicity and lower plant cost. 
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1. Introduction 

Capture of CO2 in fossil fuels-fired power plant can be accomplished by means of several different strategies. 
Pre-combustion separation technologies usually imply a three stage fuel processing sequence where: 

1. the primary feedstock is first converted at high temperature into a synthesis gas stream where carbon is 
mainly in form of carbon monoxide (CO); 

2. most of the heating value of the syngas is reallocated from CO to H2 through an intermediate temperature, 
catalytically activated water gas shift reaction, which at the same time converts CO to CO2; 

3. removal of CO2 from syngas is accomplished at ambient temperature by means of proper selective solvents. 
This arrangement suffers from two important drawbacks: (i) plant complexity due to the presence of different 

sections each designated to perform one single processing stage; (ii) different temperature levels for each stage, im-
plying syngas cooling which in turn requires extensive heat transfer surfaces and brings about a significant conver-
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sion efficiency decay. A substantial improvement would instead be achieved if all these stages could be compacted 
into a single step. This can be obtained for instance by subtracting CO2 from the gaseous phase during the syngas 
generation process, which in turn significantly enhances conversion of CO to CO2 due to removal of the reaction 
product. This paper investigates how this concept can find practical application when natural gas is used as primary 
feedstock and CO2 removal is carried out by reaction with calcium oxide through a Sorption Enhanced-Steam Meth-
ane Reforming (SE-SMR) process. 

The full potential of the SE-SMR technology is reached by integrating the reforming technology with a high tem-
perature fuel cell. The solid oxide fuel cell has an operation temperature up to 1100oC and the excess of heat from 
the SOFC is ideal for the regeneration process. When these two technologies are integrated, the heat from the fuel 
cell is used for upgrading natural gas to hydrogen and essentially no energy is wasted. 

The aim of this paper is discussing the potentiality of a combined-cycle based power plant, where the hydrogen-
based syngas produced in a SE-SMR process is burned in a combustion turbine. Such a plant, leading worse per-
formance than the SOFC-based one, can however be a good option for short mid-term applications due to its good 
performance and relatively simple layout with respect to competitive technologies. 

2. Sorption Enhanced-Steam Methane Reforming 

2.1. Thermodynamic principles 

The following steam methane reforming (SMR) reaction: 
CH4 + H2O � CO + 3H2    �H°r = +205.9 MJ/kmol   (1) 

is the reference for hydrogen production from natural gas in mid and large scale plants. Since reforming reaction 
is highly endothermic and the moles of products are more than reactants, elevated temperatures and low pressures 
favor high conversion degrees. 

The most common reforming process employed in industrial practice is based on fired tubular reformers (FTR). 
In these reactors, part of the inlet natural gas is burned in a furnace to provide the heat of reaction, mainly through 
radiative heat transfer. To achieve high methane conversions, an adequate steam excess compared to stoichiometry 
of reaction 1 is provided along with a process temperature around 900°C, which in turn requires high alloy austenitic 
steels capable of tolerating wall temperatures up to 1050°C [1]. Another option for H2 production from natural gas is 
the use of auto-thermal reformers (ATR). In such reactors, oxygen (introduced as air or rich O2 mixtures) is used as 
reactant to promote exothermic oxidation reactions, providing heat for steam reforming reaction without any need of 
heat exchange surfaces. 

When a carbon-free synthesis gas is required, for example in low CO2 emission power plants, carbon monoxide 
generated by the reforming reaction is converted into H2 and CO2 according to the water gas shift (WGS) reaction 
(2): 

CO + H2O � CO2 + H2    �H°r = �41.2 kJ/mol   (2) 
Usually, two WGS reactors with intermediate cooling are employed, in order to: (i) combine high CO conversion 

in the colder reactor with faster kinetics in the hotter one and (ii) recover with a higher efficiency the heat of reac-
tion after the first WGS reactor, which is available at high temperature (400-500°C). 

An option to obtain high methane to hydrogen conversions in a single step is removing one of the reaction prod-
ucts from the gaseous phase. In Sorption Enhanced-Steam Methane Reforming (SE-SMR) processes, CO2 is ad-
sorbed over a solid sorbent while SMR and WGS reactions occur. Therefore, progression of the gaseous phase reac-
tions (1-2) is not limited to equilibrium set by CO2 formation and proceed almost to a complete depletion of reac-
tants. A promising sorbent for SE-SMR applications seems to be calcium oxide, which can react with CO2 generat-
ing CaCO3 according to the following carbonation reaction (3): 

CaO s) + CO2 � CaCO3 s)    �H°r = �179.2 kJ/mol   (3) ( (

Being (3) a gas-solid reaction, a definite CO2 partial pressure, function of temperature, establishes in the gas 
phase at chemical equilibrium. Equation (4), reported in [3] and obtained from thermo-chemical data in [2], is an 
example of equation expressing the increase of equilibrium CO2 partial pressure with temperature: 

� � )20474exp(*10*137.4 12
,2 TPap eqCO ��        (4) 
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The overall calcium-based SE-SMR reaction, which results from the single reactions (1), (2) and (3), is reported 
in eq.(5): 

CH4 + 2H2O + CaO s) � 4H2 + CaCO3 s)  �H°r = �14.5 kJ/mol   (5) ( (

The enthalpy balance of the overall reaction (5) is only �14.5 MJ/kmol, meaning that it is well thermally bal-
anced, and therefore not only the carbonation reaction facilitates hydrogen production by removing CO2 from the 
gaseous phase, but also provides the heat required for the steam reforming reaction, allowing for the use of adiabatic 
reactors, or at least with limited heat duties. 

The influence of the SE-SMR operating parameters has been predicted by chemical equilibrium considering pure 
methane as primary fuel and over-stoichiometric amounts of CaO, so that adsorption of gaseous species is not lim-
ited by CaO availability. Hydrogen yield (defined as the moles of hydrogen generated per mole of methane, whose 

maximum value is 4 as given 
by reaction 5) and carbon cap-
ture ratio (CCR, defined as the 
moles of C adsorbed by cal-
cium oxide per mole of meth-
ane to the reformer) are 
shown in Fig.1. Considering 
one of the curves in the graph, 
at given pressure and S/C, a 
temperature range can be 
identified where H2 yield and 
CCR experience limited varia-
tions. In this range, effects of 
temperature on SMR, WGS 
and carbonation reactions 
counterbalance. At higher 
temperatures, the equilibrium 
CO2 partial pressure of the 
carbonation reaction increases 
(eq.4) and a higher CO2 frac-
tion will be hence present in 
the gaseous phase, leading to 
lower CaCO3 formation and 
carbon capture ratio hence de-
creases. Despite the lower 
CO2 sorption, CH4 conversion 
increases, provided that exo-
thermic SMR reaction is fa-
voured, while H2 yield varies 
depending on the SMR and 

WGS equilibria. By further increasing temperature, a point is reached where the CO2 pressure in the gaseous phase 
is below that predicted by eq.4 and no CO2 can be adsorbed by generating CaCO3. At such temperatures, no sorption 
occurs and reactions behave like in conventional steam reformers. 
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Figure 1 – Influence of temperature, pressure and steam to carbon ratio on hydrogen yield and CO2 cap-
ture ratio in a SE-SMR process. The dot dashed curves in the upper diagram refer to a conventional 
SMR process carried out at 3.5 steam to carbon ratio. 

By reducing temperature below the flat zone section, a point is reached where steam in the gaseous phase reacts 
with calcium oxide producing solid Ca(OH)2. Similarly to carbonation reaction (3), the reaction: 

CaO s) + H2O � Ca(OH)2 s)    �H°R = –109.1 kJ/mol   (6) ( (

exhibits an equilibrium of steam partial pressure in the gas phase, whose value increases with temperature. Ac-
cordingly, when the steam partial pressure in the stream exceeds the equilibrium threshold, H2O reacts with CaO un-
til that value pressure establishes. Therefore, at low temperature a significant fraction of steam is removed from the 
gaseous phase and effective S/C ratio reduces limiting the advancement of SMR and WGS reactions and leading to 
lower H2 yields and CCR. 
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Effects of S/C ratio and absolute pressure are also outlined in Fig.1. Despite it is beneficial effect over carbona-
tion reaction, a pressure increase prevents obtaining high conversion degrees in the SMR reaction (where the num-
ber of moles of products is greater than the one of reactants) and it leads to lower H2 yields and CCR for a given 
temperature and S/C ratio. For sake of comparison, curves of H2 yield for a conventional steam reforming process 
are also reported in Fig.1, highlighting the benefits due to SE-SMR in a wide range of operating temperatures. 

On the basis of this picture, it is possible to affirm that with a calcium-based SE-SMR system, high H2 yields and 
CO2 separation can be carried out in a single step, at temperatures much lower than required by conventional re-
formers. 

An important issue to consider in SE-SMR processes is sorbent regeneration. In fact, once-through processes are 
impractical due to the huge amount of sorbent required for CO2 capture in large power stations which poses dra-
matic hurdles in term of availability, handling and cost. Sorbent regeneration is carried out via calcination reaction 
(the reverse of reaction 3), which is obtained by reducing CO2 partial pressure in the gaseous phase below the CO2-
CaCO3 equilibrium value set by eq. (4). This result can be obtained either by reducing the actual CO2 partial pres-
sure (pressure swing) or by increasing temperature and hence equilibrium pressure (temperature swing). In any case, 
thermal power is required in the calcination step to provide the heat required by the endothermic calcination reac-
tion. Heat can be provided either by means of heat exchangers or by direct combustion in the calciner. In the second 
case, which is the only practical possibility when high temperatures are needed, calcination has to be carried out by 
means of oxy-fuel combustion to avoid dilution of the CO2 released from calcination with nitrogen. 

2.2. Current state of the technology 

Sorption-enhanced steam methane reforming (SE-SMR) has been successfully demonstrated in laboratory scale 
with natural Ca-based sorbents (calcite and dolomite) both in fixed bed reactors [4,5] and in fluidized bed reactors 
[6,7]. Moreover, extensive research work on the development of diverse high temperature synthetic CO2-sorbents 
suited for the SE-SMR process has been carried out by many authors. The main motivations are the improvement of 
the multi-cycle ability, absorption capacity and mechanical stability as well as to lower the regeneration temperature 
of these new sorbents compared to natural Ca-based calcite or dolomite. Lithium zirconate has been proposed due to 
its lower regeneration temperature than Ca-based sorbents [8]. However, it shows too slow sorption kinetics for low 
CO2 partial pressures. Sodium zirconate shows better kinetics but the presence of sodium poisons the Ni-catalyst 
during the high temperature regeneration step. Lithium silicate was seen as a promising material but thermodynam-
ics limits the hydrogen yield compared to Ca-based sorbents [9]. Therefore, most of the work carried out recently 
focuses on novel supported Ca-based materials, mainly due to the good availability of Ca-precursors, their lower 
cost, and the satisfactory kinetic properties of the carbonation reaction [11,12]. 

Extensive work has also been carried out in the field of reactor and process modeling adapted to the SE-SMR 
process for H2-production, showing the potential of this technology [13-15]. However, SE-SMR in a continuous 
production mode still needs to be demonstrated at a level making possible a further promising up-scaling. 

2.3. Reactors for large scale power plants 

The conventional steam methane reforming processes (SMR) at industrial scale are operated at pressures between 
15 and 40 bar. Operating the SE-SMR process in a continuous mode involves the transport of large amounts of sol-
ids (CO2-sorbent and reforming catalyst) between two dedicated reactors: a reformer/carbonator and a calciner. The 
transport of this large quantity of solids can be achieved by using two interconnected fluidized bed reactors in vari-
ous configurations. However, fluidized bed technology with circulation of solids involves quite low pressure differ-
ence between the reactors. This means, in turn, that operating the SE-SMR reformer in the 15-40 bar pressure range, 
two alternatives can be devised for the calciner: (i) a process operating at about the same pressure but at temperature 
far above 1000°C, (ii) a process operating at lower pressure and temperature which in turn requires a challenging 
device, like a lock-hopper for example, to move the sorbent between the reformer and the calciner. 

When considering a large size SE-SMR process operating at high pressure, a number of elements must be con-
sidered related to heat transfer, hydrodynamic regime and reactors size. At the conditions encountered in the plant 
assessed and described in the next paragraph, the CO2 partial pressure at the calciner outlet is equal to 15.4 bar, re-
quiring a calcination temperature of at least 1110°C according to eq.4. 
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At such a temperature, two options are possible: decrease the CO2 partial pressure or provide 
heat by means of an oxy-fuel combustion. CO2 partial pressure can be lowered by adopting an 
atmospheric calciner, which would lead to technical challenges for the pressurization of high 
temperature solids in the reformer, or by diluting the calciner gas with steam, leading to signifi-
cant efficiency penalties (for example, to reduce calcination temperature by 100°C in the as-
sessed case, steam should be added at a rate more than 3 times the CO2 on a molar basis). 

solids from
reformer

gas from
calciner

solids to

calciner

CO2 to heat 
recovery 

and compr.

For these reasons, a high temperature calciner seems preferable, where heat for calcination is 
provided by natural gas oxy-combustion. Other issues should be considered under these condi-
tions related to catalyst and sorbent deactivation at high temperature. Considering the sorbent, a 
material pre-treated at high temperature (around 1200°C) should be used to increase its me-
chanical properties and resistance to attrition. Natural limestones for example show stable long 
term absorption capacities around 8 to10 gCO2/100g sorbent which is suitable for continuous 
operation in a fluidized bed reactor system with circulation of solids. As far as catalyst is con-
cerned, the presence of oxygen, even in relatively small amounts, can cause oxidation if a con-
ventional nickel catalyst is used and exposure to high temperatures could reduce its activity. 
One solution is to use noble metal catalyst, which would increase the catalyst cost. If the re-
former is a transport (riser) reactor, a particle segregation by size and density could be another 
option to avoid transporting the catalyst to the calciner and increase catalyst lifetime: the denser 
and bigger catalyst particles would stay in the dense phase of the riser and the sorbent particles 
would be entrained. Finally, another option would be to introduce internals (tubes for example) 
in the reformer (preferably bubbling in that case), coated with active material in small quanti-
ties. 

 

When operating the calciner at high pressure, thermal power needed to heat the solids up to 
calcination temperature increases. In order to reduce fuel consumption in the calciner, it is important to preheat the 
solids with the sensible heat in the CO2-rich gaseous stream released from the calcination zone. This could be car-
ried out by adopting a moving bed reactor, where solids and gas are in contact in a countercurrent flow leading to an 
efficient heat transfer. However, in moving bed reactors, low gas velocities are required to avoid bubble formation 
and particles mixing, and very large reactor footprints would hence result. For this reason, reactors operating in bub-
bling or fast fluidization regimes should be preferred in large plants to limit costs. The option considered in this 
work is a circulating fluidized bed calciner, with a suspension preheater (Fig. 2). Such a preheater is a direct contact 
heat exchanger widely used in plants for cement production, where solids and gas flowing in countercurrent are con-
tacted and separated in 4 to 6 cyclones in series. The solids entering at the top of the system descend through the cy-
clones and are heated up, being suspended in the hotter gas stream flowing upwards. 

Figure 2 Suspension 
preheater. 

3. Combined cycle-based power plant 

The layout of the assessed plant is shown in Fig. 3. Reformer and calciner are transport reactors working at 
25 bar. Under transport regime, reaction kinetics can be a limiting parameter and a proper dimensioning is required 
to operate close to chemical equilibrium as here assumed. Reformer operates at 700°C, with a S/C ratio of 4.5 in or-
der to obtain an overall carbon capture ratio (i.e. also considering CO2 from natural gas oxy-combustion) close to 
90%. Steam for reforming is partly added by means of NG humidification in a saturator, where low temperature heat 
from CO2 cooling is efficiently used, limiting the losses associated with steam extraction from the steam cycle. Cal-
cination temperature was set equal to 1200°C, about 90°C higher than the equilibrium temperature at the CO2 partial 
pressure at calciner outlet. 

Calcium oxide utilization was set equal to 15%, which means that carbonated sorbent contains 15% CaCO3 and 
85% CaO on a molar basis. Considering that unreacted CaO exiting the reformer behaves as inert material circulat-
ing between the reactors and increases the calciner heat duty and the natural gas burned under oxy-fuel conditions, 
the higher the calcium utilization the higher the plant efficiency. The assumed carbonation level is higher than 
maximum conversion reported in [17] for natural sorbent experiencing a very large number of carbonation-
calcination cycles, but seems reasonable if thermal pretreatment, doping [18,19] or steam reactivation [20] are as-
sumed for novel Ca-based materials. Further studies on sorbent properties under SE-SMR process conditions are 
however required to understand the feasible carbonation level. No sorbent blow-down was considered despite it 
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would increase the average sorbent ac-
tivity, because the consequent CaCO3 
make-up would also lead to efficiency 
penalties for its initial calcination. 

In order to avoid excessively high 
local temperatures in the calciner, O2 
for combustion is diluted to 40%vol by 
recycling part of the gas stream from 
the suspension preheater. Recycle is 
carried out at high temperature to limit 
thermodynamic losses. An ejector, 
driven by pressurized O2 (stream 12), is 
used to allow the recycle and the re-
quired oxygen pressure was calculated 
by means of specifications from an in-
dustrial manufacturer [21]. A stand 
alone ASU (Air Separation Unit) pro-
ducing a 97% purity O2 stream with an 
electric consumption of 200 kWh/t of 
pure O2 is considered. While higher O2 
purities reduce the amount of inconden-
sable gases in the final CO2, relevant 
ASU cost and electric consumption in-
creases will result in obtaining higher 
purities [22]. 

After cooling and heat recovery, the 
CO2 rich stream is conditioned with a 
cryogenic process to the specified pu-
rity of 96%mol and compressed at the 
liquid state. Low purity CO2 stream is 
liquefied at -42°C and incondensable 
gases are separated from liquid CO2 
(stream 16). The cooling duty for lique-
faction is obtained by evaporation of 
the purified CO2, throttled to attain the 

selected �T of 2°C in the heat exchanger, with the contribution of the cooling energy coming from the reheating of 
the incondensable gases, during their 3 stage expansion to atmospheric pressure. The purified CO2 stream is then 
compressed to 90 bar and then pumped to 150 bar. 
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Figure 3 Layout of the assessed SE-SMR-based combined cycle. 

The hydrogen-rich fuel from the SE-SMR process is diluted with N2 from ASU for NOx control and burned in a 
state-of-the-art GE 9FB gas turbine. Nitrogen flow rate for dilution was calculated to obtain a stoichiometric flame 
temperature of 2300 K, which should be low enough to have acceptable NOx emissions without post-combustion 
selective catalytic reduction (SCR) [23]. Mass and energy balances were evaluated by means of the GS (Gas-Steam 
cycles) code [24], developed at the Department of Energy at Politecnico di Milano. For CO2 compression and condi-
tioning, where real fluid effects occur, the commercial tool Aspen Plus® was used [25], with Peng-Robinson equa-
tion of state. GS code is a powerful and flexible tool that can be used to predict the performance of a wide variety of 
chemical processes and systems for electricity production. The gas turbine performance on syngas were calculated 
by means of a simulation model [26] calibrated on the basis of a real plant data [16]. With respect to the natural gas 
fired machine, TIT was reduced by 30°C when firing the SE-SMR fuel to keep the same blade temperature of the 
design case, as predicted by the calculation model. Before combustion, the hydrogen-rich syngas from the reformer 
is cooled down to 500°C and filtered to remove solid particles entrained from SE-SMR process. The heat recovery 
steam cycle is based on a three pressure levels (130/27/4 bar, 565/565°C) steam generator. Reheat pressure was 
matched with the reformer pressure, so that steam for reforming can be extracted from hot-RH outlet. 
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4. Results

The main results of the simulation are reported in Tab. 1 and 2. Power balance can be compared with the refer-
ence Natural Gas-fired Combined Cycle (NGCC) without CO2 capture and a competitive plant with pre-combustion 
CO2 capture based on Auto-Thermal Reforming (ATR) and Methyl Di-Ethanol Amine (MDEA) technologies [16]. 

A net plant efficiency of 50.2% was obtained, 8.4% points less than the reference NGCC, with about 88% CO2 
capture, resulting in a specific emission of 14% of the NGCC plant. A higher gas turbine power was obtained as a 
result of the lower air flow rate compressed, consequence of the low calorific value of the steam-rich fuel burned. 
Because of the large amount of steam required in the reformer, a similar steam turbine power was calculated, despite 
the additional steam generated outside the HRSG, from CO2-rich stream, GT fuel and carbonator cooling. 

Oxygen production and compression require the largest amount of auxiliary power: almost 26 MWe, equivalent 
to an efficiency penalty of 2.7% points. Power for carbon dioxide compression and conditioning is equal to 
5.1 MWe, a rather low value as a consequence of the high pressure of the CO2-rich stream exiting the calciner. 

Results obtained for the SE-SMR-based plant can be compared with the competing technology based on ATR 
and CO2 capture with MDEA. Performance of two reference cases are reported in Tab. 1 [16]: a “base case” calcu-
lated by considering advanced components and assumptions aimed at efficiency maximization (at the today’s best 
available technology) and a “simplified case” where a simpler layout (e.g. lower fuel temperature at GT combustor 
inlet) and lower cost components (e.g. adiabatic pre-reformer instead of a heat exchanger pre-reformer) were con-
sidered. Efficiency of the SE-SMR-based plant is almost the same as the ATR+MDEA “base case”. It hence lies in 
the higher efficiency range 48.2-50.7% estimated for the reference technology. On the other hand, a slightly lower 
carbon capture ratio was obtained for the SE-SMR-based plant leading to almost 40% higher CO2 emissions. 

Table 1 – Power balance of the assessed SE-SMR case and reference NGCC and ATR+MDEA plants. 

 NGCC SE-SMR ATR+MDEA 
“base” 

ATR+MDEA 
“simplified” 

Electric power, MW     
Gas turbine 273.4 316.1 287.7 289.0 
Gas turbine auxiliaries -0.96 -1.11 -1.01 -1.01 
Steam turbine 150.7 148.7 157.2 217.7 
Steam cycle pumps -1.98 -2.86 -3.17 -3.68 
Auxiliaries for heat rejection -2.31 -2.02 -2.89 -3.97 
ASU - -14.75 - - 
O2 compressor / Air boost compressor - -8.99 -7.09 -10.54 
N2 compressor - -10.83 - - 
MDEA process auxiliaries - - -3.58 -4.31 
CO2 compression - -5.10 -15.14 -18.00 

Net power, MWe 418.8 419.2 412.0 465.1 
Net efficiency, % 58.59 50.19 50.65 48.18 
Cold Gas Efficiency, % - 83.09 88.87 79.78 
Carbon Capture Ratio, % - 87.96 91.56 91.71 
Specific emission, gCO2/kWh 350.2 49.2 34.2 35.3 

Table 2 – Temperature, pressure, flow rate and composition of the main plant streams, shown in Fig.2. 

G T, p, M Molar composition, % point 
kg/s °C bar kmol/s CH4 C2+ CO CO2 H2 H2O O2 N2 Ar He CaO CaCO3 

1 571.3 15.0 1.01 19.80    0.03  1.04 20.73 77.28 0.92    
2 455.1 419.8 18.36 15.77    0.03  1.04 20.73 77.28 0.92    
3 519.1 1416 17.81 19.94    0.54  25.18 9.05 64.50 0.73    
4 635.3 617.0 1.04 23.97    0.46  21.12 11.01 66.65 0.76    
6 13.38 15.0 30.00 0.71 82.88 10.38  1.10    5.49  0.15   
9 46.27 700.0 25.00 4.82 1.88  0.11 0.15 53.16 43.87  0.81  0.02   

11 5.54 15.0 30.00 0.29 82.88 10.38  1.10    5.49  0.15   
13 55.08 579.1 26.04 1.65    35.92  21.54 40.00 0.61 1.91 0.02   
14 55.91 775.0 25.00 1.63    59.87  35.90 2.00 1.00 1.20 0.03   
17 43.15 38.5 150.0 0.99    96.12   2.01 0.69 1.17 0.01   
18 247.4 1200  4.41           100  
19 276.5 911.4  4.41           85.00 15.00 
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5. Conclusions 

The potential of the Sorption enhanced-Steam Methane Reforming coupled with a state-of-the-art combined cy-
cle was assessed in this work. A net efficiency of 50.2% and 88% carbon capture ratio were calculated for the pro-
posed layout, in line with performance of a competitive plant based on ATR and pre-combustion CO2 absorption. 
Advantages for the assessed plant could result from a higher plant simplicity and lower cost. A sensitivity analysis 
on the main design parameters and sorbent properties, and an economic assessment are necessary to fully understand 
the potential of this concept. 
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