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Influence of Axial Temperature Profiles on Fe/SiO2
Catalyzed Non-oxidative Coupling of Methane
Rolf S. Postma[a] and Leon Lefferts*[a]

The effect of the axial temperature profile upstream and
downstream of catalyst bed on the performance of non-
oxidative-coupling-of-methane (NOCM) over Fe/SiO2 was deter-
mined. A three-zone oven was used with independent temper-
ature control of the catalyst-zone as well as the zones upstream
and downstream. It was found that catalytic initiation followed
by residence time at 1000 °C downstream the catalyst bed
increases CH4 conversion by a factor of 8, while decreasing
carbonaceous deposit selectivity from 40 to 12 C%. Residence
time at 1000 °C upstream of the catalyst bed causes deposit
formation on the catalyst without significantly influencing
methane conversion. A shallow catalyst bed followed by
significant residence time at high temperature maximizes
methane conversion and minimizes coking. This work shows
that axial temperature profile and residence time upstream and
downstream of the catalyst bed strongly influence the perform-
ance in catalytic NOCM.

Methane[1] is one of the most abundant hydrocarbons on the
planet[2] and is seen as a high potential intermediate in the
transition towards renewable sources of chemicals.[3] Currently,
methane is mainly used in domestic and industrial heating as
well as electricity production.[4] The vast majority of industrial
processes for converting natural gas into base chemicals and
liquid fuels is based on reforming[5] followed by various syngas-
based synthesis routes.[5a,b,6] The multiple steps in these
processes cause low energy efficiency and high investment
costs.[6c,7]

Thus, direct methane coupling has received a lot of
attention both in industry as well as academia.[3,8] The challenge
is caused by the high stability of methane, its negligible
electron affinity and low polarizability,[9] compared to the
coupling products. Both Methane dehydroaromatization

(MDA)[5c,8a,b,d,f] as well as oxidative coupling of methane
(OCM)[5c,8c,10] suffer from too low product yields to be industrially
viable. Catalytic NOCM[2b,11] has recently gained much interest,
achieving higher product yield and co-producing valuable
hydrogen. The NOCM reaction requires operation temperatures
above 900 °C, to achieve significant conversion[9a] usually
resulting in significant coke formation.

In 2014 Guo et al.[2b] reported coupling of methane to
olefins and aromatics over an iron on silica catalyst (Fe/SiO2) at
temperatures in excess of 950 °C, without coke formation. The
maximum reported combined product yield was 48% at
1090 °C. Other research groups also report low coking rates but
have not yet been able to reproduce the performance reported
by Guo et al..[11a–c,i,12] An overview of literature data on catalytic
non-oxidative methane coupling is presented in S1. Despite the
fact that many laboratories initiated work on the subject, the
number of peer reviewed papers is rather limited, likely because
it is not easy to prevent extensive coking. We will show in this
study that the design of the lab reactor and the oven is
essential for achieving this.

Methane is thermodynamically unstable at temperatures
above 650 °C,[9a,13] which is confirmed by the blank experiments
in several studies,[2b,11b,c] showing significant methane conver-
sion. DFT calculations[2b,11i] suggest that the Fe/SiO2 catalyst is
involved exclusively in methane activation to methyl radicals
and hydrogen, which are released to the gas phase. All further
coupling reactions to olefins and aromatics are governed by
gas phase free-radical propagation and termination
reactions.[2b,11i] Especially the recent patent[12] issued by Sabic
supports this, showing that reactions in the gas phase down-
stream the catalyst bed influence conversion and product
distribution significantly. It is remarkable that detailed informa-
tion on reactor design, oven design, dimensions and temper-
ature profile around the catalyst bed are generally not
available.[2b,11a–d, f,h,12] This study demonstrates that axial temper-
ature profiles, controlled with an oven designed for this
purpose, influence not only conversion and product distribu-
tion, but also the formation of carbonaceous deposits signifi-
cantly.

A custom-built oven was used to control the temperature
profile in the reactor-zone, as well as the zones upstream and
downstream of the catalyst bed (Figure 1). The temperature in
each of the three zones is controlled independently up to
1100 °C. Sharp temperature gradients were achieved by using
close fitting thermal insulation between the zones. Residence
time at high temperature upstream, inside and downstream of
the catalyst bed were systematically changed by varying the
amount of catalyst, the position of the catalyst bed inside the
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6 cm reactor-zone as well as the temperatures of the pre-heater
and the post-heater.

The terms “τ@upHT” and “τ@downHT” refer respectively to
residence time at 1000 °C upstream of downstream of the
catalyst bed. All residence times are calculated based on the
volume of the relevant part of the reactor and the flowrate at
STP. Details concerning the experimental setup and the
equations applied to calculate conversion and selectivity to
several products can be found in S4 and S5, respectively.

Figure 2 shows increasing methane conversion with increas-
ing residence time at 1000 °C downstream of the catalyst bed
(τ@downHT), at constant conditions and contact time inside the
catalyst bed. This effect is not observed when increasing
residence time at 1000 °C upstream of the catalyst bed
(τ@upHT), as shown in Figure S6. The conversion under the
same conditions in absence of catalyst is low (Figure 2), in

agreement with the hypothesis that the catalyst activates
methane, forming methyl radicals,[2b,11i] followed by radical chain
reactions. A similar autocatalytic phenomenon is also reported
for non-catalytic non-oxidative coupling of methane.[13c,14]

Apparently, residence time at high temperature downstream of
the catalyst bed enables propagation of the radical chain
reaction, increasing methane conversion substantially. Remark-
ably, this effect continues for at least 8 seconds residence time.

Figure 3 shows the effect of τ@downHT on the yields of
products. The yields of all products increase in the hot volume
downstream the catalyst bed as conversion increases, except
for the yield of ethane. Apparently, increasing consecutive
conversion of ethane in the hot zone dominates over formation
of ethane. Yield of carbon deposits, estimated assuming a
closing C-mass balance, increases much less with increasing
methane conversion than the other products (Figure 3a). Fig-
ure S7 presents the trends in selectivity with τ@downHT at
constant conversion, confirming that the selectivity to carbon
deposits decreases. In contrast, yields of acetylene, benzene

Figure 1. a) Temperature profile inside the reactor measured with an empty
reactor tube b) zoom in on Figure 1a; gas-flow rates of 10 ml/min N2; Vertical
bars represent the insulating layers between the 3 different zones. Pre- and
post-heater at 400 °C; reactor-zone at 1000 °C.

Figure 2. The effect of post-catalytic free-volume residence time at 1000 °C,
for methane activated by 0.26 g catalyst at 3.5 lgcat

� 1h� 1, gas-phase
initiated system (no catalyst); 90% CH4 in N2; reactor-zone at 1000 °C, pre-
heater at 400 °C; post-heater at 400 °C for lower residence time in free
volume and 1000 °C for higher residence time in free volume

Figure 3. Influence of τ@downHT on the yield at 3.5 lgcat
� 1h� 1; 0.26 g

catalyst; 90% CH4 in N2; (a) major products: Naphthalene;
Ethylene; Deposits; (b) minor products: Ethane;
Benzene; Acetylene; conditions according to Figure 2.
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and naphthalene all significantly increase and their production
via free radical chain reactions apparently dominates over
consecutive conversion reactions in the hot zone downstream
the catalyst.

Table 1 compares the performance of Fe/SiO2 in this work,
both with and without extended residence time at 1000 °C
downstream of the catalyst bed, with the results reported in
literature. It is remarkable that both activity as well as selectivity
obtained when operating with high τ@downHT, are quite
similar to results of Sakbodin et al. and Oh et al. .[11a,b] In
contrast, fast quenching downstream of the catalyst bed results
in much lower conversion and more deposit formation.

Figure 4 shows that the apparent activation energy in-
creases with increasing τ@downHT, based on experiments
between 950 and 1100 °C. We observe that apparent activation
energy increases with increasing methane conversion in
τ@downHT. Han et al.[11c] reported an apparent activation
energy of 334 kJmol� 1. Calculation of apparent activation
energies based on the data of Guo et al.,[2b] Sakbodin et al.[11a]

and Oh et al.[11b] resulted in 454 kJmol� 1, 333 kJmol� 1 and
577 kJmol� 1 respectively, as presented in Figure S12. A coated

wall reactor contains a large empty volume, explaining the high
activation energy estimated based on the data of Oh. The high
activation barrier estimated based on the results of Guo
suggests a large contribution of reactions in the downstream
zone, in agreement with the fact that conversion and activity
were the highest reported so far. To lesser extent, the same is
true for the results reported by Sakbodin et al.[11a] and Han
et al..[11c]

Figure 5 presents the integral yields to products, deposits
on the catalyst and deposits downstream during a 14 hours
experiment under conditions as summarized in Table S3. Fig-
ure 5 confirms that the product yield increases with increasing
τ@downHT. Figure 5 also shows that formation of deposits on
the catalyst is suppressed by rapid heating of the reactant gas
before it reaches the catalyst, preventing soot formation in the
gas phase that would be trapped by the catalyst bed.

In summary, methane conversion is dominated by propaga-
tion reactions in free volume at 1000 °C downstream of the

Table 1. Performance comparison between this work and others using the Fe/SiO2 catalyst.

Publication Conditions/ref Temp
[°C]

SV
[mlgcat

� 1h� 1]
Conversion
[%] CH4

Olefins selectivity
[C%]

Aromatics selectivity
[C%]

Deposit selectivity
[C%]

This work Fast quenching 1000 3650 0.9 61 0 39
This work τ@downHT 8 sec 1000 3640 7.7 50 38 12
Guo et al. [2b] 1000 10000 31 21 79 0
Sakbodin et al. [11a] 1000 3200 8% 37 63 0
Oh et al. [11b] 1000 3200 8% 37 53 10
Han et al. [11c] 1020 8250 6.5% 66 32 2
Nagaki et al. [12] 1030 21400 7.5 44 50 6

Figure 4. Apparent activation energy change when increasing the free-
volume downstream of the catalyst, by decreasing the amount of catalyst;
measured at constant flowrate: 33.3 ml/min: 90% CH4 in N2 ; temperature
of reactor-zone varied between 950–1100 °C, pre-heater and post-heater at
400 °C; note that the data point at 1.35 S has no catalyst; for details on
catalyst placement see S4 in the Supporting Information.

Figure 5. Effect of τ@upHT and τ@downHT on the integral product
distribution over a full experiment during 14 h at 1000 °C with 90% CH4 in
N2 during which flowrate and temperature was varied in time according a
fixed program described in Table S3; 0.5 ml τ@upHT; 0.25 ml
τ@upHT & 0.25 ml τ@downHT; 0.5 ml τ@downHT; deposits on the
catalyst are measured using TGA and assumed to contain exclusively carbon.
Deposit formation downstream of the catalyst estimated based on the C-
mass balance; deposits on the catalyst and downstream of the catalyst have
been multiplied by 5 for clarity; pre-heater and post-heater operated at
400 °C.
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catalyst bed, after initiation of the free radical reaction by the
catalyst, in agreement with the recent patent publication.[12] At
the same time, formation of deposits is significantly reduced,
whereas formation of olefins and aromatics in the hot zone
dominate. Formation of deposits can be further suppressed by
heating the reaction mixture rapidly, before contacting the
catalyst. Residence time inside the catalyst bed should be
minimized, since the catalyst is only required for initiation the
free radical reaction and will cause significant deposit formation
when in contact with free radicals.

The design of the catalytic reactor and the oven determines
to an important extent the performance in catalytic NOCM, with
respect to both activity as well as minimizing formation of
deposits. Unfortunately, these details are usually not reported.
Especially the large effect on the formation of carbonaceous
deposits is responsible for the fact that results depend strongly
on experimental details.

Experimental section
The Fe/SiO2 catalyst was prepared according procedures reported
in literature[2b] and the expected composition and structure were
confirmed with XRF and XRD, respectively.[2b,11a, c] More detailed
information on catalyst synthesis and characterization is presented
in S2 and S3, illustrating our catalyst is very similar to Fe/SiO2

catalysts synthesized in earlier studies.
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COMMUNICATIONS

Higher methane conversion, lower
coking: The axial temperature profile
in a catalytic reactor for non-oxidative
methane pyrolysis over Fe/SiO2

strongly influences the performance.
Extended residence time at 1000 °C
downstream of the catalyst signifi-

cantly increases methane conversion
and decreases formation of carbona-
ceous deposits, while decreasing
residence time at 1000 °C upstream of
the catalyst bed also suppresses
formation of deposits.
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