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Pressure swing adsorption (PSA) processes are frequently used in the (petro)chemical industry, but they suffer
from ineffective use of the sorbent and slow heat transfer. A pressurized multi-stage fluidized bed (MSFB) for
continuous PSA is proposed in this work to overcome these drawbacks. A one stage fluidized bed adsorber was
used to determine minimum fluidization velocities of the used amine sorbent at various pressures up to 10

bara. The design of a pilot scale experimental setup is described, together with supporting experiments to
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show the proof of concept. Removal from 37,000 mol ppm CO, to <10 mol ppm CO in a few seconds was
demonstrated in the pressurized MSFB adsorber. The tray efficiencies were high: often larger than 0.85. Using
a numerical particle model, it was concluded that the CO, adsorption rate is controlled via intraparticle

© 2020 Elsevier B.V. All rights reserved.

1. Introduction

Adsorption is a widely used separation technology in the (petro)
chemical industry. The conventional setup for an adsorption process
are multiple fixed beds interconnected in a certain sequence to enable
adsorption and desorption. The desorption can be effected by elevating
the temperature, temperature swing adsorption (TSA), or by lowering
the pressure, pressure swing adsorption (PSA). Although that fixed
bed adsorption is an industrially established process, it has some
disadvantages:

1. Ineffective use of sorbent: In a fixed bed adsorption process only the
sorbent in the mass transfer zone is active [1]. The sorbent upstream
of the mass transfer zone is already at its equilibrium loading and the
sorbent downstream of the mass transfer zone does not see any
adsorbates. As a consequence, the effective use of the sorbent is
quite low, which results in large equipment.

2. Slow heat transfer: When using TSA, heat has to be supplied to the
fixed bed while fixed beds generally show slow heat transfer. This
implies that heating the fixed bed to the desired temperature takes
a considerable amount of time or measures have to be taken to en-
hance heat transfer, for example by using a multi-tubular fixed bed.
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(D.W.F. Brilman).
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To overcome the ineffective use of the sorbent, one can think of
continuous adsorption processes where the solid sorbent circulates
between an adsorption and desorption zone. In this way the amount
of sorbent which is in an inactive zone is minimized. Continuous
adsorption processes exist for a while. Kunii and Levenspiel name
some examples where carbon is used to clean a variety of gases with
low adsorbate concentrations (<0.1%) [2]. Recently, continuous adsorp-
tion processes received renewed attention in view of post-combustion
carbon dioxide (CO,) capture. Veneman et al. use a gas-solid trickle
flow reactor to adsorb CO, and use a multi-stage fluidized bed for de-
sorption [3]. Multiple researchers investigated the use of multi-stage
fluidized beds for post-combustion CO, capture. For a full review of
these papers we refer to our earlier work [4], but we want to highlight
some. The group of Meikap investigate multi-stage fluidized beds ex-
perimentally with various sorbents [5,6]. The group of Hofbauer and
Schony built a bench scale multi-stage fluidized bed and present their
first experimental results [7-9].

All these researchers use continuous processes with TSA to adsorb
CO, from gaseous streams. However, the use of PSA in a continuous sor-
bent process has not yet been investigated to our knowledge. This work
focuses on the adsorption of sour gases from pressurized gases (P> 1
atm) in a system where the sorbent circulates. This is schematically
shown in Fig. 1. The adsorber is operated at elevated pressure, in this
work typically at 10 bara, whereas the desorber is operated at lower
pressure, in this work typically at 1 bara. The challenge in this continu-
ous experimental setup is to pressurize the sorbent before it enters the
adsorber and to depressurize the sorbent after it leaves the adsorber.
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Fig. 1. Conceptual scheme of a continuous adsorption process employing a pressure swing.
The adsorber is operated at elevated pressure, whereas the desorber operates at a lower
pressure. The sorbent has to be pressurized and depressurized which is facilitated by the
low pressure/high pressure (LP/HP) lock and high pressure/low pressure (HP/LP)
respectively.

This is facilitated by a so-called low pressure/high pressure (LP/HP) lock
and a high pressure/low pressure (HP/LP) lock respectively. Without
further detailed technical explanations, these locks are unit operations
in which solid particles are pressurized or depressurized.

In this work a continuous process is investigated in the context of
sour gas removal (hydrogen sulfide and carbon dioxide) from natural
gas. At the moment the benchmark process for sour gas removal from
natural gas is scrubbing employing aqueous amines, such as methyldie-
thanolamine (MDEA). The proposed adsorption process could reduce
equipment size because mass transfer in the gas phase is generally
faster than mass transfer in the liquid phase. Also, it could reduce the
energy consumption because solid adsorbents have a lower specific
heat capacity than aqueous solutions. In short, using the proposed ad-
sorption instead of absorption can reduce the capital and operational
expenditure of the sour gas removal process [4].

In the context of sour gas removal from natural gas, we would like to
present three arguments why PSA is required. First, the adsorption equi-
librium is favored by higher pressures. Therefore, it is advantageous to
adsorb the sour gas at elevated pressures similar to the gas well pres-
sure. Second, the specifications for product natural gas (so called
‘sweet gas’) are tight: hydrogen sulfide (H,S) has to be removed down
to 3.5 ppm and CO, typically down to 1%. For liquefied natural gas appli-
cations the CO, specification is even lower: 50 ppm [10]. These low sour
gas specifications require that the lean sorbent loading, the amount of
sour gas adsorbed on the regenerated sorbent, is also very low: other-
wise the gas specifications in the adsorber outlet cannot be reached.
Third, from an industrial perspective, it may be desirable to use steam
as stripping gas in the desorber: steam can be condensed to obtain a
concentrated stream of H,S and CO,. However, if the desorption is

performed with steam at a pressure equal to the gas well (for example,
60 bara), the temperature in the desorber would be larger than 270 °C to
ensure that water remains in the vapour phase. This temperature is
above the thermal stability limit of amine sorbents, which is typically
around 150 °C[11]. Therefore, it is necessary to lower the absolute pres-
sure in the desorber. In short, lowering the absolute pressure in the
desorber is required.

This works introduces the concept of a pressurized multi-stage fluid-
ized bed adsorber working together with a atmospheric multi-stage flu-
idized bed desorber. To our knowledge, this principle has never been
demonstrated or researched in open literature. A bench-scale one
stage fluidized bed without sorbent circulation was used to obtain
basic design data such as minimum fluidization velocities. Furthermore,
adsorption breakthrough curves were measured to test the feasibility of
the technology in an early stage. The design of the continuous pressur-
ized multi-stage fluidized bed experimental setup will be elaborated on.
A series of measurements was conducted in the continuous pressurized
MSFB which confirms the technical proof-of-concept. A numerical par-
ticle model was used to interpret the experimental data to investigate
the various mass transfer processes inside and outside of the particle.

2. One stage fluidized bed adsorber
2.1. Materials

The amine sorbent used in this work is Lewatit VP OC 1065
(Lanxess). The polystyrene backbone of this sorbent is cross-linked
with 8%-10% divinylbenzene and functionalized with benzylamine
sidegroups. These sidegroups provide the function to adsorb H,S and
CO,. The amine sorbent was mixed with graphite powder (0.3 wt%) to
eliminate electrostatic forces. With respect to fluidization behaviour,
Lewatit VP OC 1065 is classified as a Geldart B particle [4]. In this work
the CO, adsorption isotherm of Bos et al. is used to evaluate the CO, sor-
bent loading at equilibrium [12]. The particle size distribution (PSD) of
the amine sorbent was measured using a dynamic light scattering tech-
nique with a Malvern Mastersizer 2000. More detailed information on
physical properties can be found in earlier published work [3,4,13].

For safety reasons, methane (the main compound of natural gas) is
not used. Instead, nitrogen (grade 4.7, purity >99.997 vol%) (N;) is
used to mimic methane. This is possible because neither methane nor
nitrogen do adsorb on the amine sorbent [14,15]. CO, (grade 2.7,
purity > 99.7 vol%) is used as sour gas compound.

2.2. Experimental setup

Fig. 2 shows a schematic of the one stage fluidized bed adsorber. The
main component of this experimental setup is a gas-solid fluidized bed
contactor (400 mm height, 50 mm inner diameter). This contactor is
equipped with a metal sintered plate to ensure the gas distribution.
Two sight glasses are installed for visual inspection of the fluidized
bed. K-type thermocouples (TI-1 to TI-5) are installed in five thermo-
wells at different axial positions. Two mass flow controllers (MFCs) con-
trol the gas flow: an Alicat MCR-500SLPM-D MFC for N, and an Alicat
MCS-5SLPM-D for CO,. A three-way valve (V1) provides the option to
measure the inlet concentration over the bypass or to send the gas to
the gas-solid contactor. The inlet and outlet pressure are measured via
pressure transducers (PI-1 and PI-4). Pressures up to 10 bara could be
set via a back pressure regulator (BPR). A LI-COR LI-840A CO, analyzer,
calibrated in the range 0 — 10000 mol ppm, is used to measure the CO,
concentration.

The minimum fluidization velocity is measured via a pressure drop
measurement. A differential pressure transducer (BD| Sensors DMD
341, 0-20 mbar) measures the pressure drop over the fluidized bed, ac-
cording to the connections of DP-1 in Fig. 2. Before determining the min-
imum fluidization velocity, the sorbent was desorbed according to the
procedure described below. The minimum fluidization velocity was
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Fig. 2. Schematic of the one stage fluidized bed adsorber.

determined for various pressures, ranging from 2.5 to 10.0 bara. The
fixed bed height was 0.226 m for every measurement. Hysteresis effects
were checked by first increasing the superficial velocity and then by de-
creasing the superficial velocity while measuring the pressure drop. For
each superficial velocity the pressure drop was averaged over a time pe-
riod of at least 40 s.

A breakthrough adsorption experiment was always started via
desorption to make sure that the sorbent loading is null. The column
was depressurized step-wise from 10 bara to 2 bara while adjusting
the N, flow to ensure proper fluidization and, thus, heat transfer. In
the end, the desorption was said to be finished if the CO, concentra-
tion was less than 3 mol ppm for at least 120 s at a pressure of 2 bara.
After this event the heaters were turned off, the column was pressur-
ized to 10 bara with a N, flow of 80 SL/min, to cool the sorbent. Be-
fore starting the adsorption the column is pressurized with N.
Once the column was pressurized, the bypass is used to set desired
the inlet concentration and flows by configuring the setpoints of
the MFCs. If the setpoints were obtained, the CO, flow was shut off
and the column was fluidized with N,. The start of the experiment
is defined as the moment at which CO, is sent to the column. The
dead time, defined as the time difference between CO, introduction
and the first CO, signal on the CO, analyzer, was estimated. The
sorbent in the column was mimicked with glass beads and a fictive
adsorption measurement was started. The determined dead time
was 8 s and was found to be independent of the superficial velocity.
All presented results are corrected for the dead time. The fixed bed
height of the sorbent was 0.226 m. The pressure is varied between
2.5 and 10.0 bara and the superficial velocity was kept constant at
Up = 1.5ups

2.3. Setup design

Based on the conceptual scheme in Fig. 1 an experimental setup was
designed and built in the High Pressure Laboratory of the University of
Twente. The setup is protected by a Plexiglas case which is maintained
at underpressure relative to the surroundings, this means that this
setup allows for future operation with hazardous gases including H,S.
A photo of the setup is shown in Fig. 3. The two left columns of the cas-
ing contain caustic scrubbers, which are meant for safeguarding for
emissions of H,S but are not used in this work. The right-hand and
tallest column of the casing case contains the experimental setup. The
dimensions of this case are 0.8 x 0.8 x 7.0 m (L x W x H).

24. General layout of the pilot plant

Fig. 4 shows a process flow diagram (PFD) of the experimental setup.
In reality, the PFD is more complex because it includes, among others,
various thermocouples, safety valves and level indicators. These compo-
nents are left out for the sake of simplicity. The key units of the experi-
mental setup are: a LP/HP lock to pressurize the sorbent, the pressurized
MSFB adsorber, a HP/LP lock to depressurize the sorbent, an atmo-
spheric MSFB desorber and a riser. First, the operation of pilot plant is
explained and thereafter some key units are explained in more detail.

Lean sorbent is transported in a riser (20 mm inner diameter) with
N, as transport gas at a linear velocity of ~5 m/s. The riser flow is regu-
lated and measured with a SMC PFM711S-F02-F flow switch. A cyclone
separates the riser gas from the sorbent. The sorbent is collected in a
buffer vessel. The LP/HP lock pressurizes the sorbent by sequential
switching of valves, which is explained in more detail in sec:locks.
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Fig. 3. Picture of the experimental pressurized MSFB setup: the right case contains the actual setup.

The pressurized sorbent is transported to another buffer vessel before it
is dosed in the pressurized MSFB adsorber using a rotary valve. The ad-
sorber is fed with a N,/CO,-mixture. The bottom of the adsorber func-
tions as a buffer. The rich sorbent is transported from the adsorber to
the HP/LP lock where it is depressurized. Again a buffer vessel is used
before the amine sorbent is dosed in the desorber with a rotary valve.
After desorption in the desorber the lean sorbent is transported back
with the riser to the top of the pilot plant.

The control of the setup and data logging is automated with a
custom-made program in NI LabVIEW 2017 SP1. All valves that required
automatic switching are pneumatically controlled with a Metal Work
Multimach electropneumatic distribution block. Mass flow controllers
(Brooks Instrument, SLA-series) were used to control the gas flows in
the adsorber. An Alicat MCR-500 mass flow controller was used to con-
trol the N,-flow to the desorber. All rotary valves (Rotolok Rotary
Airlock 50 mm) are driven by a alternating current electric motor.
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Fig. 4. Process flow diagram of the experimental setup. Please note that it is divided in the upper (left) and lower (right) part, but the actual arrangement is vertical. (BPR = back pressure
regulator, PCV = pressure control valve, pH = preheater, Pl = pressure indicator, RV = rotary valve, V = ball valve).

Dependent on the CO,-concentrations, various CO,-analyzers were
used to analyze compositions: a Siemens ULTRAMAT 23 (0—250 ppm
CO,) gas analyzer, a LI-COR LI-840 (0—10, 000 ppm CO,) CO,-
analyzer and a Sick Maihak Sidor S700 (0—15% CO-). All analyzers
were calibrated in the respective concentration ranges with calibration
gases.

2.5. Low pressure/high pressure (LP/HP) and high pressure/low pressure
(HP/LP) locks

Because an absolute pressure swing is applied the amine sorbent has
to be pressurized and depressurized to enable sorbent circulation
through different pressure levels. In this work we chose to pressurize
the sorbent with N2 as inert gas. Both locks work sequentially; for the
LP/HP lock the sequence is:

1. Ball valves V-1A and V-1B open to fill the vessel with amine sorbent.
2. Ball valve V-2 is opened and the vessel is pressurized with N,. The
pressure of N, is set with a pressure control valve (PCV). After the

pressure setpoint of pressure indicator 1 (PI-1) has been reached,
valve V-2 closes.

3. Ball valves V-4A and V-4B open and the pressurized amine sorbent is
emptied in the buffer vessel below.

4. Ball valve V-3 opens to depressurize the vessel. It closes again if the
lower pressure setpoint has been reached.

5. The sequence repeats beginning with the first step.

For depressurizing the sorbent, the HP/LP lock works in a similar se-
quence but reversely.

Before building the setup preliminary tests with ball valves with Tef-
lon seats were performed to investigate if the seats of the ball valve
would wear due to the sorbent particles. Via a pressure test it was read-
ily find out that the seats do indeed wear: the gas seal of the ball valve
could not be ensured. Therefore, we chose to use two ball valves in se-
ries for ball valves V-1A/B and V-4A/B. The first ball valve (V-1A and
V-4A respectively) switch the sorbent flow, which means that the sec-
ond ball valves (V-1B and V-4B respectively) can switch in a ‘sorbent
free’ environment. This ensures that the seats of the second ball valves
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do not wear. Ideally, one would like to install one valve that (a) starts
and stops the sorbent flow and (b) ensures the gas seal. To our knowl-
edge, such valves do not yet exist and, thus, we chose this option to
show the working principle of a pressurized MSFB. Furthermore, ball
valves are cheap in case replacement of the ball valves is required. So
far, this was not needed in approximately 350 h of operating time.

The volume of both locks is approximately 2 L. The typical filling and
emptying time was 10 s for all solid fluxes. The setpoint of the pressure
control valves was 1 bar above the adsorber pressure. Stainless steel full
bore ball valves of 0.5 in. with Teflon seats were used for ball valves
V-1A/B, V-4A/B, V-8A/B and V-11A/B.

2.6. Pressurized multi-stage fluidized bed (MSFB) adsorber

The core unit of the pilot plant is the pressurized MSFB adsorber. A
detailed schematic of the adsorber can be found in Fig. 5. The MSFB ad-
sorber consists of three stages and has an inner diameter of 50 mm. The
inner diameter is rather low because a certain superficial velocity has to
be maintained to enable fluidization and the N,-flow is limited in our
available facilities. The pressure is regulated via a back pressure regula-
tor (Dutch Regulators GBT15S-50 N20-SSEE). The distance between two
perforated plates is 200 mm. The height of the downcomers (20 mm
inner diameter) could be adjusted to also measure the effect of bed
heights. Horizontal plates with a diameter equal to the outer diameter
of the downcomer were installed 16 mm below the bottom of the
downcomer. The latter is needed to prevent excessive fluidization in
the downcomer.

The bottom tray (n = 1) is equipped with a metal sintered plate as
gas distributor. The other trays (n = 1 and n = 2) have a perforated
plate as gas distributor. For a specific measurement the pressure drop
across stage n = 2 (that is, the perforated plate and the fluidized bed)
was measured using a differential pressure transducer (BD| Sensors

solid inlet
l =— gas outlet

=’

n=3 -1

perforated plate .- i > sampling point

(2.5% open area)

n=2-— |

n=1--___| 200 mm

sintered plate

No/COp 77777 o

20 mm

50 mm

sorbent buffer

NI
solidloutlet

Fig. 5. Schematic of the internals of the MSFB adsorber with the most important
dimensions. The configuration of the bottom of the downcomers is shown in Fig. 6. The
dotted lines denote the top level of the fluidized bed. The stage number is denoted by n.

20 mm

—————— bottom of standpipe

">~ horizontal plate

Fig. 6. The configuration of the bottom of the downcomers with the most important
dimensions.

DMD 341, 0-20 mbar) by connecting it two the sample points at stage
n = 1and n = 2. Each tray is equipped with sampling points to analyze
the composition at that tray. Thermowells with K-type thermocouples
are installed at each stage 20 mm above the gas distributor to measure
the bed temperature. Sight glasses allow for visual observation of the
tray. The adsorber wall was encircled with a tube connected to a cooling
bath (Julabo F25-MW) filled with water to allow for cooling. The
setpoint of the cooling bath was 10, but it was readily observed that
the cooling bath did not have enough power to cool it to the setpoint.
Typically, the water temperature of the cooling bath was 18-20 °C.

2.7. Atmospheric multi-stage fluidized bed desorber

To make this technology suitable for sour gas removal from natural
gas, the sorbent fed to the adsorber has to be very lean because the nat-
ural gas specifications are tight (<3.5 ppm for H,S). The required maxi-
mum lean sorbent loading is then determined by the adsorption
isotherm. To ensure that the extent of desorption in the desorber is
not limiting, the desorber design was oversized. The multi-stage fluid-
ized bed desorber is operated at atmospheric pressure and consists of
seven stages. The inner diameter of the desorber is 200 mm. Per tray
two downcomers were installed with an inner diameter of 20 mm.
The bed height of each bed in the desorber is 100 mm. Perforated plates
were used as gas distributors, except for the lowest stage which uses a
sintered plate. Also here horizontal plates with a diameter equal to the
outer diameter of the downcomer were installed 16 mm below the bot-
tom of the downcomer to prevent excessive fluidization in the
downcomer. N, was used as stripping gas with a typical superficial ve-
locity of 0.15 m/s. The wall of the desorber is heated using electrical
heat tracing, the target temperature for each tray was 100 °C. K-type
thermocouples in thermowells were used to measure the bed tempera-
ture 20 mm above the gas distributor at each tray.

2.8. Operation and other details of the pilot plant

During assembly of the pilot plant each tray of the adsorber and
desorber and each vessel was filled with an initial amount of sorbent.
The pilot plant is started by introducing the N, flow to the desorber
and enabling the heating of the desorber. Afterwards a small N2 flow
(~10 SL/min) was introduced to the adsorber. The adsorber was pres-
surized to the operating pressure with the back pressure regulator and
the N, flow was increased to the desired setpoint while tuning the
back pressure regulator to compensate for the pressure increase.
When the operating pressure of the adsorber was set, the pressurizing
sequence of the HP/LP and LP/HP lock were turned on and tuned to
match the operating pressures. Now the sorbent flow was started
with the rotary valves. The sorbent flow is controlled via the rotary
valve below the desorber: this rotary valve always turned slower than
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the other rotary valves. The sorbent flow was regulated via a variable-
frequency drive and found to be a linear function of the sorbent flow.
When the setup was circulating sorbent continuously, the desired
inlet concentration could be set, which was measured via a bypass.

In the experimental campaign the superficial velocity in the ad-
sorber was set at 1.25u,¢ for each pressure. This is a low fluidization ve-
locity, but homogenous fluidization of the bed was still observed. The
superficial velocity was kept at this value because the operating win-
dow is narrow for the given design: increasing the superficial gas veloc-
ity resulted in upward sorbent transport in the adsorber (flooding).
Consequently, this is an important aspect of future design of (pressur-
ized) MSFBs. Explicitly, the design of the gas distributor, the height of
the fluidized bed and the downcomer dimensions are important as-
pects. The sorbent flux, defined as the sorbent flow per unit of cross-
sectional surface area, was varied between 1.02 and 3.06 kg/(mg s).
The inlet concentration ranged from 4800 to 37,300 ppm. The distance
between the gas distributor and the top of the downcomer, and thus
the bed height, in the adsorber was varied between 70 and 130 mm.
The adsorber pressure was varied between 2 and 10 bara. Steady-state
operation of the pilot plant was achieved typically after 3 h. On average
one experimental run took 6 h, including start-up, reaching steady state
and gas sampling.

3. Results and discussion
3.1. Minimum fluidization at elevated pressures

Table 1 shows the minimum fluidization velocities and bed voidages
at minimum fluidization of the amine sorbent for various pressures. The
minimum fluidization velocities decreases with increasing pressures,
which can be explained by increased drag forces due to the increasing
gas density [2]. The bed voidage at minimum fluidization &y, calculated
via Eq. 1, can be considered pressure independent. These two trends are
in line with previous findings by Sobreiro and Monteiro who also inves-
tigated the pressure behavior of Geldart B particles [16].

AP = (1=m) (P =Py ) H (1)

According to Wen and Yu minimum fluidization conditions can be
predicted by [17]:

K1 Repme® + Ky Repmp = Are Rep oy

K2\ 1 s K
2 2
<_1> + _l CAr

K, 2)

In this equation K; and K, are constants, Re, ¢ is the particle

Reynolds number at minimum fluidization and Ar is the Archimedes
number:

_ dopg(pi—ps)e

u
Repmr=———+—— and Ar 12

3)

The particle size distribution of the amine sorbent has been mea-
sured, of which the results are shown in Section 1 of the supplementary
information. We choose to use the Sauter mean diameter as input

Table 1
Minimum fluidization velocities and bed voidages at different pressures.

P (bara) Upne (M/S) Eme (M3/MR)
25 0.082 0.518
5.5 0.076 0.516
8 0.071 0.516
10 0.067 0.514

50
o Exp.
—— This work
40 ||--- Wen and Yu [17] »
Chitester et al. [18] o
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Fig. 7. Correlation for minimum fluidization conditions for different pressures. The solid
line represents the fitted correlation of this work.

parameter for Rej, e and Ar, which is found to be 631 um (Section 1 of
the supplementary information). Fig. 7 shows the developed correlation
for Rep, mr of the used amine sorbent, together with a comparison with
some frequently used literature correlations [17,18]. The fitted con-
stants are K; = 27.7 and K, = 2.02 - 10, which yields the correlation
for the minimum fluidization of the used amine sorbent:

27.7- Repm® +2.02-10% - Rep e = Ar (4)

Fig. 7 shows that the existing literature correlation overpredict
Rep, mr, and thus the minimum fluidization velocity. The experimental
data fit well to the correlation. eq:corrumf is used for calculating inter-
mediate values of the minimum fluidization velocities throughout
this work.

3.2. Breakthrough experiments in the one stage fluidized bed adsorber

Fig. 8 shows the effect of pressure on the adsorption of CO, on the
amine sorbent in the one stage fluidized bed adsorber (Fig. 2). The su-
perficial velocity was kept at ug = 1.5u,, Where u,r was evaluated ac-
cording to Fig. 7. The pressure trend can clearly be seen: increased
pressures lead to faster adsorption rates and, thus, breakthrough is ob-
served earlier. This is a result of multiple effects which happen if the
pressure increases. First, the CO, partial pressure increases because a
fixed inlet mole fraction is used, and so the equilibrium sorbent loading
increases. Second, the CO, molar flow rate increases. Third, the intrinsic
adsorption kinetics will be faster. Fourth, regarding fluidization and
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Fig. 8. CO, adsorption breakthrough curves in a fluidized with various pressures at uy =
1.5u,r and a fixed inlet mole fraction (c;, = 10000 mol ppm, fixed bed height = 0.226
m). The inset magnifies the data in the first seconds. The dashed line in the inset
indicates the H,S specification in natural gas.
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hydrodynamics one could state that fluidization at elevated pressures is
more homogeneous from which gas-solid contacting benefits [19].
The inset in Fig. 8 shows the measured outlet concentrations in the
first seconds of the measurement. It can be seen that the concentration
is lower than the H,S specification of 3.5 ppm for any pressure in the
first seconds. Even for P = 10.0 bara, the concentration is below 3.5
mol ppm in the first 16 s. Please note the start concentrations of the
breakthrough curve: they are already a few mol ppm. Furthermore,
these low concentrations are approaching the detection limit of the
used analyzer. It is very likely that the CO, analyzer overestimates the
actual concentration: as shown in previous work the CO, analyzer indi-
cated a concentration of 3.9 mol ppm while measuring a calibrated CO,/
N, mixture of 2.9 4 0.1 mol ppm [4]. To conclude, these breakthrough
measurements already show that it is likely that the specification of
<3.5 mol ppm can be reached, also when circulating the sorbent in the
continuous setup, with the condition that the sorbent is lean enough.

3.3. Pressurized MSFB pilot plant

3.3.1. Measurement errors and reproducibility

The reported concentrations and temperatures are averaged over at
least 120 s. The 95% confidence intervals for concentration were calcu-
lated over this time period and it was found that the 95% confidence
intervals were generally smaller than 1% of the measured concentration.
Therefore, no error bars are shown in any of the presented concentra-
tion profiles. With respect to temperature, K-type thermocouples have
an measurement error of +1.5 °C according to thermocouple standards.

To check the reproducibility of the measurements, one measure-
ment was executed twice with identical operating parameters. The con-
centration and temperature profile of the two identical measurements
are shown in Fig. 9. The agreement between the two measurements is
fair. There are slight differences in the concentration profile, which
may be caused by the difference in temperature. Although the adsorber
wall is cooled with cooling water, the temperature of the surroundings
do influence the measurement because the thermostat bath did not
have enough power to cool it completely. The resemblance of the two
measurements ensures reproducibility.

3.3.2. Pressure drops

The pressure drop across stage n = 2 (that is, across the perforated
plate and the fluidized bed) is 5.7 mbar at a superficial gas velocity of
0.084 m/s and a bed height of 130 mm. Using the orifice theory as re-
ported in the book of Kunii and Levenspiel [2], the pressure drop across
the perforated plate (2.5% open area) is 1.8 mbar. Neglecting other pos-
sible pressure losses such as drag, the pressure drop across the fluidized
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bed is 3.9 mbar. Hereby, the ratio between the pressure drop of the per-
forated plate and the fluidized bed is 45%, which fulfills the rule of
thumb for proper gas distribution in fluidized beds. The pressure drop
across the metal sintered plate for stage n = 1 was not measured, but
will definitely be higher than the pressure drop across the perforated
plate. An important thing to note is that the gas will partly flow through
the downcomers from stage to stage, but this could not be measured
or quantified.

3.3.2.1. Process parameter variations. The gas-based Murphree tray effi-
ciency is used to describe the extent to which equilibrium is reached:

G __ GG
Etray,n - Cn—l _C;(qun) (5)

In this equation n is the stage number (the bottom stage corresponds
ton = 1 as shown in Fig. 5), c; is the gas concentration in equilibrium
with the outgoing sorbent loading q,, and the stage temperature T,,.
This definition implicitly assumes that each tray is ideally mixed
which means that the outlet gas concentration and outlet sorbent load-
ing are equal to respectively the gas concentration and sorbent loading
at each tray. To describe the adsorption equilibrium the CO, adsorption
isotherm on the amine sorbent as fitted by Bos et al. is used [12], be-
cause this adsorption isotherm corresponds to the applied CO, partial
pressures in this work (0 — 0.37 bar). The sorbent loading g, is calcu-
lated via a mass balance over the adsorber. For more information
about various definitions of tray efficiencies, we refer to earlier pub-
lished work [4].

To calculate the sorbent loading g, the sorbent loading of the sor-
bent entering the adsorber has to be known. The assumption is made
that the inlet sorbent loading of the adsorber can be neglected, which
is supported by three arguments. First, the sorbent residence time in
the desorber is 24 min for the highest solid flux and 71 min for the low-
est solid flux, which is long enough to desorb the CO, from the amine
sorbent [3]. Second, the sorbent loading leaving the desorber can be es-
timated by measuring the concentration of the bottom stage of the
desorber. The CO, desorption rate of the used amine sorbent is limited
by heat transfer: the intrinsic desorption rate and mass transfer pro-
cesses are rather fast at elevated temperatures, which means that the
gas concentration and sorbent loading are in equilibrium with each
other [20]. A gas connection was made at the top of the bottom stage
of the desorber to sample the gas at that stage and measure the CO, con-
centration. The latter was done for a typical measurement (P = 10 bara,
Cin = 10000 mol ppm, uy = 0.084 m/s, S = 2.05 kg/(mzR s), H=130
mm) and the measured concentration at the bottom stage was 54 mol
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Fig. 9. Concentration and temperature profiles of two identical measurements. (P = 10 bara, ci, = 10000 mol ppm, 1o = 0.084 m/s, S = 2.05 kg/(m3 s), H = 130 mm).
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ppm at a temperature of 108 °C. According to the adsorption isotherm
the sorbent loading in equilibrium with this CO, partial pressure and
temperature is 1.4 - 107> mol/kg. Using a similar approach as previous
work, it is concluded that the error in the reported tray efficiencies is al-
ways smaller than 0.001 units and that the reported tray efficiencies are
on the conservative side [4]. Third, when leaving the desorber the sor-
bent remains in a N, atmosphere for a while (riser, cyclone, buffer ves-
sel, HP/LP lock and again a buffer vessel) in which CO, still can desorb.
To conclude, it is fair to assume that the sorbent loading of the sorbent
entering the adsorber can be neglected.

Fig. 10 shows the effect of varying solid flux on the measured con-
centration and tray efficiency. The column profiles including tempera-
ture can be found in Section 2 of the supplementary information.
Increasing the solid flux results in lower concentrations, because more
sorbent is available to adsorb the same amount of CO,. One can see
that the concentration lowers from 20,000 mol ppm to less than 10
mol ppm for every solid flux, while the gas residence time of the gas is
only 0.5 s. This fast process is only possible if the contacting between
the sorbent and the gas is good, if adsorption kinetics are fast and if
intraparticle mass transfer is fast enough to keep up with the adsorption
rate. The H2S specification cgpec 0f 3.5 mol ppm is not reached within
three stages but the measured concentrations do approach it and a fur-
ther fourth stage is expected to be sufficient. With respect to tray effi-
ciencies, at stage the bottom n = 1 and n = 2 the tray efficiencies are
high, they are larger than 0.85 and often larger than 0.90, which
means that equilibrium is almost reached. A slight trend in the tray
efficiency can be observed: higher solid fluxes lead to larger tray
efficiencies, certainly at stage 1 in Fig. 10b. A likely explanation is that
higher solid fluxes lead to a lower fractional coverage of the adsorption
sites and, hence, more free sites are available for CO, adsorption.
The tray efficiencies at the top stage n = 3 are significantly lower; how-
ever, this is a consequence of the design of the top stage as will be
discussed later.

The effect of inlet concentration is shown in Fig. 11. This figure
proves that the H2S specification cspec 0f 3.5 mol ppm can indeed
be reached: the measurements at ¢, = 10600 mol ppm and ¢;, =
4800 mol ppm have outlet concentrations (much) lower than 3.5 mol
ppm. Furthermore, the measurement at ¢, = 37300 mol ppm still
has an outlet concentration as low as 5.6 mol ppm. Therefore, this
pressurized MSFB technology is able to remove gas impurities over a
wide range of inlet concentrations: from bulk (>2%) to deep removal
(<0.1%). Also here the tray efficiencies remain larger than 90%.
Again, the tray efficiencies at stage 3 show differences related to the de-
sign of the top stage.
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Fig. 12 shows the effect of pressure on the measured concentrations
and tray efficiencies when the inlet composition is set at a fixed mole
fraction. The superficial velocity was kept at 1.25u,¢, where u,e was
evaluated for each pressure using Fig. 7. Although pressure has a large
impact on phenomena such as fluidized bed hydrodynamics, equilib-
rium loading, mass transfer and adsorption kinetics, only a small trend
is observed. Lower pressures lead to lower stage concentrations and
larger tray efficiencies but differences are rather small, certainly when
considering the logarithmic scale of Fig. 12a. At lower pressures less
CO, has to be removed to arrive at a low CO, mole fraction, which
may explain this trend. The concentration profiles behave like if the pro-
cess is first order in the CO, partial pressure, that is, ¢,/c,_1 is constant.
Attributing the observed trend to one of the mentioned phenomena de-
serves and requires more research. In any case, the tray efficiencies at
stage n = 1 and n = 2 remain larger than 95%.

The measurement series in fig:Pvar may be biased because the CO,
molar flow (molco,/s) also changes with pressure if the mole fraction
is kept constant. Therefore, a measurement series was conducted
where the adsorber pressure was varied but the CO, molar flow was
kept constant. In this way the pressure only has an influence on the flu-
idized bed hydrodynamics. The results are shown in Fig. 13. For inter-
pretation, the concentrations have been normalized with the inlet
concentration in Fig. 14, which shows that c,/c;, is more or less constant,
which suggests that the process is first order in the gas concentration.
Furthermore, from this figure one can conclude that changes in hydro-
dynamics due to pressure do not have a significant effect on the CO,
removal.

Multi-stage fluidized beds for adsorption typically employ shallow
fluidized beds. Therefore, fig:Hvar investigates the effect of the bed
height H on the concentrations and tray efficiencies. From this figure it
can be concluded that the major part of the CO, adsorption process hap-
pens just above the gas distributor. As an example, the bed height is in-
creased from H =70 mm to H = 130 mm, but the concentration at stage
n = 2 only decreases from 13 mol ppm to 4 mol ppm and there is almost
no effect on the tray efficiency. Just above the gas distributor the contact
between gas and sorbent is rather good because of small bubbles and
bubble throughflow, which supports this statement [2,21]. Therefore,
it is recommended to invest in more trays, so more equilibrium stages
can be obtained, rather than investing in deeper fluidized beds.

As discussed before, the tray efficiencies at the top stage n = 3 show
a different trend compared to stages n = 1 and n = 2. We hypothesize
that the sorbent bypasses the top stage n = 3 by falling directly from the
rotary valve in the downcomer from the top stage n = 3 to stage n = 2
(Fig. 5). This reduces the effective amount of lean sorbent entering the
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Fig. 10. Column profiles for varying solid flux: (a) concentration and (b) tray efficiency. (P = 10 bara, ¢;, = 20000 mol ppm, ug = 0.084 m/s, H = 130 mm).
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= 0.08 bar).

third stage. To confirm this hypothesis, a horizontal plate with a diame-
ter equal to the downcomer diameter was installed above the top of the
downcomer at the top stage n = 3. This horizontal plate prevents
bypassing of the lean sorbent, so all lean sorbent enters the bed. The re-
sults of this experiment are shown in Fig. 16. This figure clearly shows
that the concentration indeed lowers if bypassing of sorbent is
prevented. In addition, the tray efficiency also significantly improves.
Furthermore, in Figs. 10-15 there are multiple data points where the
concentration is smaller than 10 mol ppm while having a tray efficiency
larger than 0.9 at stage n = 2. To conclude, the tray efficiencies remain
high over a wide concentration range as long as sorbent bypassing is
prevented in the design of the MSFB.

3.4. Investigating mass transfer processes

From the experiments it is concluded that the mass transfer pro-
cesses have to be fast: in just a few seconds the gas concentration is
reduced from 37,300 mol ppm to 6 mol ppm for example (Fig. 11).
However, the question remains to what extent various mass transfer
processes do influence or limit the adsorption rate of CO,. This is in-
vestigated using a numerical particle including intrinsic adsorption ki-
netics [12], intraparticle mass transfer and external mass transfer from
gas to particle. The modeling equations and input parameters can be
found in Section 3 of the supplementary information. The goal of
this simulation is to investigate the mass transfer processes in a

(a)
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semi-qualitative manner: it does involve modeling of a single particle,
but with typical - and not necessarily exact - values of parameters and
properties. The CO, adsorption rate from the particle model is com-
pared to the experimental CO, adsorption rate and they have the
same order of magnitude.

In the simulation a fully desorbed single particle is followed when it
enters the top stage n = 3 of the adsorber, through stage n = 2 and
eventually to the bottom stage n = 1. It is assumed that the gas phase
of each stage is ideally mixed, which implies that the particle is
confronted with three different bulk concentrations (three stages) for
a time equal to the residence time of the particle in a stage. As reference
measurement the experiment with ¢;; = 37300 mol ppm from Fig. 11 is
taken because of its excessive concentration difference between inlet
and outlet. In this measurement the residence time of a particle in
each stage is 27 s. All stages are assumed to have a homogeneous bed
temperature of 35 °C. Intraparticle heat transfer limitations are neg-
lected. The influence of external mass transfer, intraparticle mass trans-
fer and intrinsic adsorption kinetics is then investigated by varying
respectively the external mass transfer coefficient, the effective pore dif-
fusion coefficient and the intrinsic adsorption rate constant. From pre-
liminary simulations it was concluded that in terms of qualitative
behavior stage n = 2 and n = 1 behave very similar. Therefore, only
the results for the bottom stage n = 1 (¢c; = 3982 mol ppm) and the
top n = 3 (c3 = 5.6 mol ppm) are shown.

Fig. 17 shows the effect of external mass transfer on the adsorption
rate. The Sherwood number of a particle in the pressurized MSFB ad-
sorber was calculated based on the correlation of Gunn [22]. Besides
this reference case (where Sh = kod,/Dag = 12.6, [22]), two limit situ-
ations are shown: Sh = 2 which represents the limit of a particle in a
stagnant medium and Sh = « which represents no external mass trans-
fer resistance. At the top stage n = 3 of Fig. 17a the CO, adsorption rate
does not vary that much with time (<17%), because the increase in sor-
bent loading is such low that it does not effect the adsorption rate. The
theoretical consequences of this observation will be discussed later in
more detail. In addition, with respect to the top stage n = 3 (Fig. 17a)
it can be concluded that the effect of external mass transfer is minor:
when eliminating any external mass transfer resistance the adsorption
rate increases only by ~10 %. At the bottom stage n = 1 (Fig. 17b) the ad-
sorption rate decreases over time due to decreasing adsorption kinetics
because of increasing CO, sorbent loading. Also here the effect of exter-
nal mass transfer is almost negligible.

Fig. 18 shows the effect of the effective pore diffusion coefficient for
three cases: the reference case with the actual (estimated) value of
the effective pore diffusion coefficient Dprer = 1.15 - 1077 m?%/s, a
case where the effective pore diffusion coefficient is increased tenfold
and a case where it is decreased tenfold. For the top stage n = 3
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Fig. 18. The effect of intraparticle diffusion on the adsorption rate: (a) the top stage n = 3 and (b) the bottom stage n = 1. Three cases are shown: the reference case with the actual
effective pore diffusion coefficient D, ., a case where Dy, r¢f is increased with a factor 10 and a case where Dy, (.r is decreased with a factor 10.

(Fig. 18a) the effect of the effective pore diffusion coefficient is strong. because the adsorption rate decreases and, hence, intraparticle diffu-
Also here the effect of time and, thus, sorbent loading on the CO, ad- sion limitations decrease.
sorption rate is minor. For the bottom stage n = 1 (Fig. 18b) the Fig. 19 shows the effect of the intrinsic adsorption rate constant kton

effect of the effective pore diffusion coefficient reduces over time the adsorption rate for three cases analogous to the approach of the
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Fig. 20. The analytical solution for the global effectiveness factor including intraparticle
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modulus (¢ = 14.1) of the particle and the thick dashed line represents the modified
Sherwood number of the particle (Bi,, = 98.6).

effective pore diffusion coefficient. The reference intrinsic adsorption
rate constant is kr, ror = 9.27 mol/(kg bar s). Again at the top stage
n = 3 (Fig. 19a) the adsorption rate does not vary much with time
(<12%) and, thus, sorbent loading. For the bottom stage n = 1
(Fig. 19b) the decline in the adsorption rate due to the increasing sor-
bent loading can be observed.

As observed, the CO, adsorption rate is independent of time, and so
sorbent loading, at the top stage n = 3. Besides, the sorbent loading at
the top stage n = 3 is approximately zero because not much CO, can ad-
sorb. These two arguments lead to the conclusion that the intrinsic ad-
sorption rate can effectively be approached by a first order reaction in
the gas concentration. An analytical solution for the global effectiveness
factor, which includes the intraparticle diffusion and external mass
transfer resistances, can be used for interpretation [23]. Fig. 20 shows
the analytical solution for the global effectiveness factor for a spherical
particle 7 as function of the Thiele modulus ¢ =L - /pskrRT/Dp, and
the Biot number for mass transfer Biy, = kgL/D,,. Please note that (a) L
represents the radius of the particle - not its diameter - and (b) that
the Biot number for mass transfer uses the effective pore diffusion
coefficient - and not the molecular diffusivity. The Thiele modulus of
the system is ¢ = 14.1 and the Biot number for mass transfer is Bi,, =
98.6. Two conclusions can be drawn. First, fig:global_eff shows that
the adsorption rate of CO, is mainly limited by intraparticle mass trans-
fer. Even for infinitively fast external mass transfer (Sh’ = ),
the global effectiveness factor is g = 0.20. Second, the global effective-
ness including a typical fluidized bed external mass transfer resistance

(Bim = 98.6), is g = 0.17 which shows that the combination of
intraparticle and external mass transfer poses serious limitations on
the CO, adsorption rate.

The conclusions above are valid for low sorbent loadings - that is, the
top stage n = 3 - but may be less valid for the bottom stage n = 1 where
the sorbent loadings are higher. In Figs. 17b, 18b and 19b the effect of
increasing sorbent loading on the adsorption kinetics can clearly be ob-
served, because the adsorption rate does decrease over time. However,
the CO, adsorption rate does not decrease with orders of magnitude
within the residence time of the particle in a stage of the adsorber.
Therefore, it seems reasonable to state that also here the CO, adsorption
rate is limited by intraparticle mass transfer. To conclude, for the pre-
sented measurements intraparticle mass transfer does control the CO,
adsorption rate, both at low (¢ < 10 mol ppm) and high concentration
(c>10,000 mol ppm). The latter allows opportunities to engineer a sor-
bent particle that does not suffer from intraparticle diffusion limitations
to the same extent, for example by using smaller particles.

4. Conclusion

This research focuses on a pilot plant scale experimental setup
where CO, is removed from a gaseous stream using a pressurized
MSEFB in a continuous adsorption process. The adsorption was per-
formed at elevated pressure, while the desorption was performed at at-
mospheric pressure. The operation at two pressure levels requires that
the sorbent is pressurized before entering the adsorber and is
depressurized before entering the desorber. This unit operation is exe-
cuted in a so-called LP/HP or HP/LP lock. The proposed pressurized
MSFB technology could reduce the size for PSA processes, because the
sorbent is used more effectively and heat transfer is faster compared
to fixed bed adsorption processes.

The built setup shows that continuous PSA in a pressurized MSFB is
technically possible and it has been demonstrated for the first time. The
removal efficiency are high: a removal from 37,000 mol ppm CO, down
to <10 mol ppm CO, has been measured while the residence time of the
gas was only a few seconds. The latter shows that the gas concentration
can be reduced over decades in concentration and that this technology
may be used for sour gas removal to natural gas specifications. Tray ef-
ficiencies were often >0.85, implying that equilibrium is approached at
each stage. As long as sorbent bypassing is prevented during the design
of the stage, it is expected that tray efficiencies will be high. Hydrody-
namic changes due to differences in pressure do not effect the CO,
removal.

Mass transfer on a particle level was investigated with a numerical
model, from which it was concluded that intraparticle mass transfer
limitations dominate the CO, adsorption rate. Even faster adsorption
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of CO, can be realized by engineering a future amine sorbent in a way
that intraparticle diffusion limitations are eliminated. Already at this de-
velopment level this MSFB technology shows an excellent CO, adsorp-
tion rate providing potentially compact equipment in comparison
with PSA processes.
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Nomenclature
Symbol: Description (Unit)

Ar: Arrhenius number (-)

Bi,: Biot number for mass transfer (-)

¢: Mole fraction (molco,/molg)

D: Diffusion coefficient (m?/s)

d: Diameter (M)

Efmy’,,: Gas-based Murphree tray efficiency (-)
H: Bed height (mg)

g: Acceleration constant (m/s?)

K; »: Fitting constants for up correlation (-)
ke: Mass transfer coefficient (m/s)

kr: Adsorption rate constant (molco,/(kgs bar s))
L: Particle radius (m,)

n: Stage number (-)

P: Pressure (Bara)

q: Sorbent loading (molco,/kgs)

R: Ideal gas constant (J/(mol K))

Re: Reynolds number (-)

S: Solid flux (kgs/(mZ s))

Sh: Sherwood number (-)

T: Temperature

t: Time (S)

u: Superficial gas velocity (m?/(m3 s))

&: Voidage (mz/mg)

1: Effectiveness factor (-)

e Viscosity (Pa's)

p: Density (kg/m>)

¢: Thiele modulus (-)

Subscripts/superscripts

AB: Binary

G: Global

g: Gas

mf: Minimum fluidization
p: Particle

ref: Reference

x: At equilibrium
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