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a  b  s  t  r  a  c  t

In the current styrene production process the distillation of the close-boiling ethylbenzene/styrene mixture to obtain

an  ethylbenzene impurity level of 100 ppm in styrene accounts for 75–80% of the energy requirements. The future

target  is to reach a level of 1–10 ppm, which will increase the energy requirements for the distillation even further.

Extractive distillation is a well-known technology to separate close-boiling mixtures up to high purities. The objective

of  this study was to investigate whether extractive distillation using ionic liquids (ILs) is a promising alternative to

obtain high purity styrene. Three ILs were studied: [3-mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN]. Extractive

distillation with sulfolane and the current conventional distillation process were used as benchmark processes. The

IL  [4-mebupy][BF4] is expected to outperform the other two ILs with up to 11.5% lower energy requirements. The oper-

ational  expenditures of the [4-mebupy][BF4] process are found to be 43.2% lower than the current distillation process

and  5% lower than extractive distillation with sulfolane extractive distillations. However, the capital expenditures

for  the sulfolane process will be about 23% lower than those for the [4-mebupy][BF4] process. Finally, the conclusion

can  be drawn from the total annual costs that all studied extractive distillation processes outperform the current
distillation process to obtain high purity styrene, but that the ILs evaluated will not perform better than sulfolane.

©  2012 The Institution of Chemical Engineers. Published by Elsevier B.V. All rights reserved.
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1.  Introduction

A typical 500,000 metric tonnes annually (mta) styrene pro-
duction plant (Welch, 2001) contains an ethylbenzene/styrene
distillation column with about 70 equilibrium stages, which
operates at a reflux ratio of 7.1 to achieve an ethylbenzene
impurity level in the final styrene product of 100 ppm (Chen,
2000). This column accounts for 75–80% of the total energy
requirements in the current production process (Welch, 2001).
The future target is to reach ethylbenzene impurity levels
of 1–10 ppm. It is anticipated that the energy (and capi-
tal) requirements will increase even further if distillation is
applied to obtain these higher purities. Obviously, an alterna-
tive technology is desired, which should replace the current

distillation. A promising alternative is extractive distillation,
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which is a well-known technology to decrease the operational
and capital expenditures (OPEX and CAPEX) for the separation
of close-boiling mixtures (Lee and Gentry, 1997; Gentry et al.,
2004; Lei et al., 2005; Souders, 1964). Extractive distillation is
already applied to produce high purity aromatics (Gentry et al.,
2004). The commonly applied solvent sulfolane (Lei et al., 2005;
Steltenpohl et al., 2005) is a promising organic solvent, which
can increase the relative volatility of the ethylbenzene/styrene
mixture up to 2.3 (Gentry et al., 2004; Jongmans et al., 2011a).
Nevertheless, sulfolane has a significant vapor pressure and,
therefore, can contaminate the final (high purity) styrene
product. Ionic liquids (ILs) are often reported as promising
alternatives for commonly applied organic solvents (Marsh
2005), due to their negligible vapor pressure (Beste et al., 2005;

neers. Published by Elsevier B.V. All rights reserved.
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Nomenclature

Cp specific heat capacity, J/(g K)
D solvent capacity
F feed, kg
MW molecular weight, g/mole
P pressure, Pa
Q heat, MW
R reflux ratio
S solvent, kg
Sij selectivity
T temperature, K
w weight fraction
x mole fraction

Greek symbols
˛  relative volatility
� viscosity, Pa s

Subscripts
REB reboiler

Abbreviations
CAPEX capital expenditures
DIPPR design institute for physical property data
EB ethylbenzene
[EMIM][SCN] 1-ethyl-3-methylimidazolium thiocyanate
IL ionic liquid
LLE liquid–liquid equilibrium
[3-mebupy][B(CN)4] 3-methyl-N-butylpyridinium tetra-

cyanoborate
[4-mebupy][BF4] 4-methyl-N-butylpyridinium tetraflu-

oroborate
mta  metric tonnes annually
MESH material equilibrium summation heat
NRTL non-random two liquid
NTS number of theoretical stages
OPEX operational expenditures
ppb parts per billion
ppm parts per million
SM styrene monomer
VLE vapor–liquid equilibrium
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ork et al., 2005; Lei et al., 2005). An IL combines the advantages
f a solid salt (high separation ability) and liquid solvent (easy
peration) (Lei et al., 2007). Moreover, ILs are also reported
s designer solvents due to the many  possible cation–anion
ombinations (Giernoth, 2010; Lei et al., 2007) by which high
hemical and thermal stability (Marsh et al., 2004), and high
apacity for aromatic components (Hansmeier et al., 2010) can
e achieved.

We have demonstrated in the IL screening study that
everal ILs have a higher selectivity than sulfolane for
he ethylbenzene/styrene mixture (Jongmans et al., 2011b).
owever, most (hydrophilic) ILs do not mix  over the full
omposition range with aromatics, due to the low IL solu-
ility in aromatics (Onink et al., submitted for publication).
herefore, the solvent capacity plays also an important role

n extractive distillation processes. Liquid–liquid phase split-
ing should be avoided, because it deceases the process

fficiency (Kyle and Leng, 1965; Kossack et al., 2008). The
L screening study showed a clear trade-off between the
solvent capacity and selectivity. The conceptual design study
as presented in this study was carried out to elucidate whether
the use of ILs in extractive distillation is beneficial compared
to the traditional distillation and the extractive distillation
using sulfolane. Moreover, the conceptual design study should
determine which type of IL will be more  efficient: an IL with
high selectivity and low capacity, an IL with low selectivity
and high capacity, or an IL with moderate selectivity and
capacity. The ILs 3-methyl-N-butylpyridinium tetracyanobo-
rate ([3-mebupy][B(CN)4]), an IL with low selectivity and high
capacity, 4-methyl-N-butylpyridinium tetrafluoroborate ([4-
mebupy][BF4]), an IL with moderate selectivity and capacity,
and 1-ethyl-3-methylimidazolium thiocyanate ([EMIM][SCN]),
an IL with high selectivity and low capacity, were selected to
be studied in more  detail. The molecular structures, molecular
weights (MW), solvent capacities on mass base (D), selectivities
(S), specific heat capacity (Cp), and dynamic viscosity (�) of the
ILs and the benchmark solvent sulfolane are listed in Table 1.

The conceptual process designs were made for three dif-
ferent ethylbenzene impurity levels: 100, 10, and 1 ppm. The
separation of heavies from sulfolane/ILs that are also present
in the feed to the separation section in the current produc-
tion process (Ward and Robert, 2000), like cumene and styrene
dimers/trimers for example, was not taken into account in
this study. One or two stage evaporation was used, depend-
ing on the IL, as the IL recovery technology (Jongmans et al.,
submitted for publication). In the process design, first the
extractive distillation column was optimized to find the opti-
mal  number of equilibrium stages (NTS), reflux ratio (R), and
solvent-to-feed (S/F) ratio. This was followed by investigating
the effect of different styrene concentrations in the IL recy-
cle on the reboiler heat duty and to determine the minimum
purity of the IL recycles to avoid the formation of two liq-
uid phases in the extractive distillation column. Subsequently,
the regeneration technologies were modeled followed by the
implementation of a heat integration network to minimize
heat losses. Finally, the OPEX, CAPEX, and total annual costs
(TAC) were calculated for the different processes.

2.  Process  descriptions

In this section, the process flow diagrams of the distillation
process, the extractive distillation process using sulfolane, and
the extractive distillation processes using ILs are presented.
The process diagrams are illustrated in Fig. 1.

2.1.  Current  distillation  process

The process scheme of the current distillation process is
shown in Fig. 1a. The ethylbenzene/styrene feed together with
some heavies (Welch, 2001) is fed to the middle of the ethyl-
benzene distillation column. Ethylbenzene leaves the column
via the top. The bottom stream, which contains styrene with
some heavies, is fed to the styrene finishing column. In this
column, the final styrene product is obtained at the top, and
the heavies leave the column via the bottom. The styrene
top product contains still some ethylbenzene impurities (cur-
rently ∼ 100 ppm).

2.2.  Extractive  distillation  process  using  sulfolane
The process diagram of the extractive distillation pro-
cess using sulfolane is illustrated in Fig. 1b. The
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Table 1 – Properties of the selected ionic liquids.

Ionic liquid [3-Mebupy][B(CN)4] [4-Mebupy][BF4] [EMIM][SCN] Sulfolane

Molecular
structure

MW [g/mole] 265.12 237.05 169.25 120.17
Dstyrene (Jongmans et al., 2011b) 0.592 0.414 0.229 a

Dethylbenzene (Jongmans et al., 2011b) 0.429 0.234 0.105 a

Sij (Jongmans et al., 2011b) 1.38 1.774 2.184 1.5–1.6  (Jongmans et al., 2011a)
Cp at 343.15 K [J/(g K)] 1.640 (Meindersma et al., 2011)  1.654 (Bandres et al., 2008) 1.773 (Ficke et al., 2010)  1.583 (Castagnolo et al., 1981)
� at 348.15 K [mPa s] 7.6 (Meindersma et al., 2011)  19.0 (Sanchez et al., 2009)  6.5 (Domanska et al., 2010)  3.86 (Al-Azzawi and Awwad, 1990)

a Sulfolane is fully miscible with ethylbenzene and styrene.
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Fig. 1 – Process schemes of the different processes. EB:
ethylbenzene; SM:  styrene; IL: ionic liquid. (a) Process
scheme current distillation process, (b) process scheme
extractive distillation process using sulfolane as a solvent.
The first recovery column operates at 50 mbar, the second
recovery column at 10 mbar, (c) process scheme extractive
distillation process with an evaporator and (d) Process
scheme extractive distillation process with two evaporators
as regeneration technology. First evaporator is operating at
mild conditions (T = 130 ◦C, Tcondenser ≥ 20 ◦C), the second
e
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vaporator at very low vacuum pressures (P < 10 mbar).

thylbenzene/styrene feed and sulfolane are fed corre-
pondingly to the middle and a few stages below the top
f the extractive distillation column. Ethylbenzene leaves
he extractive distillation column via the top, because sul-
olane has less affinity for ethylbenzene (Jongmans et al.,
011a).  Styrene and sulfolane leave the extractive distil-
ation column via the bottom and are fed to the solvent
ecovery section. The solvent recovery section consists of
wo distillation columns. The second recovery column oper-
tes at lower pressures (P < 50 mbar) than the first recovery
olumn (P = 50 mbar) to avoid temperatures higher than

30 ◦C in the reboiler (Welch, 2001). Styrene is obtained
t the top of both columns. The regenerated sulfolane
is cooled down and recycled to the top of the extractive
distillation column. Heat integration was performed to
minimize the heat losses by adding an extra reboiler at the
bottom of the extractive distillation column and evaporating
a fraction of the ethylbenzene/styrene feed. This type of heat
integration is commonly applied in extractive distillation
units (Gentry et al., 2004). One extra heat exchanger was
required to cool down the sulfolane to the temperature of
the top of the extractive distillation column. The sulfolane
make-up stream accounts for the small solvent losses at the
tops of the distillation columns.

2.3.  Extractive  distillation  process  using  ionic  liquids

The final process schemes for the extractive distillation pro-
cesses using the three different ILs are illustrated in Fig. 1c and
d. The feed and product streams to the extractive distillation
column are similar to the process with sulfolane. However,
the IL can be fed at the top stage due its negligible vapor
pressure. Therefore, the IL can also be recovered by evapora-
tion instead of distillation in the recovery section. The bottom
stream from the extractive distillation column is warmed-
up by a heat exchanger to reach the temperature of the first
evaporator. Depending on the effectiveness of the first evap-
orator (T ≤ 130 ◦C; Welch, 2001, P = 11.1 mbar; Jongmans et al.,
submitted for publication), a second evaporator operating at
even lower pressures (P < 11.1 mbar) might be necessary, which
is illustrated in Fig. 1d. The condenser of the second evapora-
tor uses refrigerant to condense the styrene. The recovered
IL is recycled to the top of the extractive distillation column.
Here, heat integration to minimize heat losses was performed
as well.

3.  Process  modeling  and  operational  and
capital  expenditures

This section provides the model choice, simulation package,
modeling approach, model input, and the input for the calcu-
lation of the CAPEX and OPEX.

3.1.  Equilibrium  stage  model

The various processes were modeled using an equilibrium
stage model, which assumes physical equilibrium between
the vapor and liquid phase (Poling et al., 2007). An equilibrium
process model is sufficient for a first evaluation of the various
processes. The equilibrium stage model is based on the MESH
(Material, Equilibrium, Summation, and Heat balance) equa-
tions. The simulation package Aspen Plus® was used, which
is often applied to model (extractive) distillation processes
(Gomez and Gil, 2007; ASPEN Plus V7.2, 2011; Hömmerich and
Rautenbach, 1998; Pinto et al., 2000). The RadFrac model was
used to simulate the (extractive) distillation columns. The
Boston and Britt algorithm was used to model the current
distillation column, which is recommended for common two
phase distillations (ASPEN Plus V7.2, 2011). The Newton algo-
rithm, which is recommended for highly non ideal systems
(ASPEN Plus V7.2, 2011; Baur et al., 2000), was used to model
the extractive distillation columns and the solvent recovery
column in the sulfolane extractive distillation process. The
evaporators and the styrene finishing column in the current

distillation process were modeled with a two-outlet Flash ves-
sel.
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3.2.  Thermodynamics

The modified Raoult’s law was used to describe the physical
equilibrium between the vapor and liquid phase (Poling et al.,
2007). The vapor phase was modeled as an ideal gas, because
the processes were all modeled at deep vacuum and consisted
mainly of ethylbenzene and styrene, which are similar compo-
nents. The pure component vapor pressures of ethylbenzene
(Jongmans et al., 2011a),  styrene (Jongmans et al., 2011a),  and
sulfolane (Gmehling and Onken, 1977) were calculated by the
Antoine equation. A vapor pressure of zero was attributed to
the three ILs, because they have a negligible vapor pressure.
The non-ideal behavior in the liquid phase was calculated
by the NRTL model (Poling et al., 2007; Renon and Prausnitz,
1968). The binary NRTL parameters were taken from previ-
ous work (Jongmans et al., 2011a, 2012a,b,c). The liquid heat
capacity is another important physical property in the design
of an extractive distillation process, because it determines
the energy requirements for solvent heating/cooling (Souders,
1964). The specific heat capacity for the components was cal-
culated by the DIPPR (Design Institute for Physical Properties)
equation. The parameters for ethylbenzene, styrene, and sul-
folane were taken from the Aspen Plus databank. The DIPPR
parameters for the ILs [3-mebupy][B(CN)4] (Meindersma et al.,
2011), [4-mebupy][BF4] (Bandres et al., 2008), and [EMIM][SCN]
(Ficke et al., 2010) were taken from the open literature.

3.3.  Model  input

3.3.1.  Feed  conditions,  purity  requirements,  and  process
conditions
The data provided in the patent of Welch (2001) were used
as input for the model of the current distillation process.
The ethylbenzene/styrene feed to the distillation and extrac-
tive distillation processes was 100 metric tonnes/h, with a
styrene concentration of 60 mole% (Welch, 2001). The ethyl-
benzene/styrene feed entered the columns in all processes
as a saturated liquid. The ethylbenzene product obtained at
the top of the distillation/extractive distillation columns was
set to 98.3 mole% (Welch, 2001). The final styrene product was
modeled for several ethylbenzene impurity levels: 100, 10,
and 1 ppm. A mass balance was applied to calculate the top
and bottom flows of the columns. The temperature at which
sulfolane and the three ILs enter the extractive distillation col-
umn  were set to the temperature of the tray at which they are
fed. The condenser pressures in the distillation/extractive dis-
tillation columns were set to 50 mbar to keep the temperature
in the column low, thereby minimizing styrene polymeriza-
tion. The first recovery column in the sulfolane process was
modeled at 50 mbar. A pressure of 10 mbar was used in the
second recovery column to keep the reboiler temperature
below 130 ◦C. The Sulzer structured packing Mellapak 250X
was selected as internal, because of its low pressure drop. This
packing type is often applied in ethylbenzene/styrene split-
ters (Welch, 2001; Ward and Robert, 2000). A thermosyphon
reboiler was used in the model, which is often applied to dis-
till thermally sensitive components (Welch, 2001; Perry and
Green, 1997).

3.3.2.  Current  distillation  process
The reflux ratio and number of theoretical stages (NTS) both
have a strong effect on the performance of a distillation

column (Perry and Green, 1997; Doherty and Knapp, 2000).
Both were varied to obtain the desired ethylbenzene impurity
levels of 100, 10, and 1 ppm in the final styrene product. First,
the reflux ratio was kept constant and the NTS were varied by
a design spec in Aspen Plus. This was followed by keeping the
NTS constant and varying the reflux ratio. The ethylbenzene
impurity levels in the bottom were set as the target. Finally, the
energy requirements were calculated for the different scenar-
ios. The energy requirements for the styrene finishing column
were determined by calculating the heat duty required for
evaporating the styrene present in the bottom stream from
the ethylbenzene/styrene distillation column.

3.3.3. Extractive  distillation  using  sulfolane
First, the sulfolane feed stage was set to keep the sul-
folane concentration in the ethylbenzene top stream below
1 ppm. The organic feed was set manually at the stage where
the ethylbenzene/styrene ratio was similar to the ethylben-
zene/styrene feed ratio (40/60). The extractive distillation
column was optimized by varying the S/F ratio, NTS, and reflux
ratio (Lei et al., 2005; Sucksmith, 1982). For each S/F ratio (range
1–5), the NTS was varied from 50 to 85 with a step change of 5,
and the minimum required reflux ratio to obtain the desired
purity of styrene in the bottom stream was calculated by a
design spec.

Subsequently, the bottom stream from the extractive dis-
tillation was used as feed stream in the optimization of the
solvent recovery columns. This was done by varying the NTS
in the range 8–18 with a step change of 1 and by calculating
the required reflux ratio via a design spec for both recov-
ery columns. Here, the impurity levels of ethylbenzene and
sulfolane in the styrene exit stream were set as the target.
The sum of these ethylbenzene and sulfolane concentrations
was  set at either 100, 10, or 1 ppm, according to the desired
purity. This implies that the sulfolane concentration in the
final styrene product was almost negligible (<10 ppb) in all
cases. The styrene mass fraction in the bottom stream of the
first recovery column was set at 0.0175 to keep the reboiler
temperature below 130 ◦C. The styrene mass fraction in the
bottom stream of the second solvent recovery column was
set at 0.001, because low styrene concentrations in the recycle
to the extractive distillation column are preferred (Jongmans
et al., submitted for publication). Finally, the total model was
simulated by closing the sulfolane recycle and applying heat
integration. For the heat integration, a logarithmic tempera-
ture difference of 10 K was assumed between the hot and cold
stream (Seider et al., 2004).

3.3.4.  Extractive  distillation  using  ionic  liquids
The same parameters were varied as for the extractive distil-
lation process with sulfolane to find the optimized settings.
However, due to the miscibility gap between the ILs and the
ethylbenzene/styrene (Jongmans et al., 2011b),  first the mini-
mum required S/F ratio was determined for the three different
ILs to avoid multiple liquid phases at any stage in the extrac-
tive distillation column. Subsequently, the S/F ratio was varied
from the determined minimum required S/F ratio up to 1.5–2.5
times the minimum required S/F ratio, depending on the IL.
The NTS were varied in the range 35–70 with a step change of
5. The reflux ratio was calculated by a design spec as well to
obtain the desired purity of styrene in the bottom stream.

After finding the optimal settings for the extractive dis-
tillation columns for the three ILs, the effect of the styrene
concentration in the IL recycle on the extractive distillation

was examined. This sensitivity analysis was required to find
the minimum IL purity, which needs to be obtained in the
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Table 2 – Cost factors for the operational expenditures.

Cost factor D /GJ

Heating
Steam medium pressure (10 bar) 9.95
Steam low pressure (3.4 bar) 6.22
Cooling
Cooling water (>32 ◦C) 0.80
Cooling water (20 ◦C) 1.73
Chilled water (7 ◦C) 12.3
Ammonia (−34 ◦C) 24.7

Dutch Association of Cost Engineers (2011) and Seider et al. (2004).
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rity levels of 10 and 1 ppm, but these were not depicted to
L regeneration section. The styrene concentration in the IL
ecycle was varied from 0 to 1.5 wt%, depending on the IL.
he reflux ratio was varied in order to minimize the energy
onsumption of the process, while still fulfilling the purity
equirements with respect to the top and bottom products
sing a design spec.

Next, the maximum purity that can be obtained with
n evaporator using mild conditions (P = 11.1 mbar, T = 130 ◦C,
ongmans et al., submitted for publication) was determined.
n extra evaporator using very low vacuum pressures (P < 10
bar) was modeled, when the IL purity specification could not

e reached by the evaporator using mild conditions. Finally,
he whole process was modeled by closing the IL recycle and
pplying a heat integration.

.4.  OPEX,  CAPEX,  and  TAC

he OPEX, CAPEX, and TAC were determined to compare the
ifferent processes. The OPEX were calculated from the energy
equirements provided by the Aspen Plus simulations using

 running time of 8400 h per year (Dutch Association of Cost
ngineers, 2011). The applied cost factors to estimate the OPEX
re shown in Table 2. The plant location and (possible) sol-
ent purge costs were not taken into account. The Aspen Plus
conomic Analyzer was applied to calculate the CAPEX. The
iameter and column heights of the (extractive) distillation
olumns were calculated in Aspen Plus using the Packing Siz-
ng tool (ASPEN Plus V7.2, 2011). Standard overall heat transfer
oefficients (Richarson et al., 2002) were used to calculate the
reas of the shell-and-tube heat exchangers. A forced circula-
ion and falling film evaporator were selected correspondingly
or the first and second evaporator in the IL recovery pro-
ess, which are both often applied for thermally sensitive
omponents (Perry and Green, 1997). The purchase costs of
umps were not taken into account. It was assumed that
efrigerant, steam, etc. are already available at the plant loca-
ion. Stainless Steel 316 was selected as the material, because
Ls are known to be slightly corrosive fluids (Arenas and
eddy, 2003; Uerdingen et al., 2005). Aromatics and sulfolane
ere both considered as non-corrosive fluids (Stewart and
innear, 2011). Therefore, ordinary carbon steel was selected

s the material to evaluate the current distillation process
nd the process using sulfolane. The total solvent investment
as calculated from the total solvent hold-up and the price
er kg. The assumption was made that the ILs cost 25 D /kg

Wasserscheid, 2008; Meindersma and de Haan, 2008), but the
rice was also varied up to 200 D /kg to investigate the contri-
ution of the IL price to the total CAPEX. A price of 2.78 D /kg

as taken for sulfolane (DIY Trade, 2011). The TAC were
calculated by summing up the OPEX and 20% of the CAPEX
(Seider et al., 2004).

4.  Results

The results from the process models of the different processes
are presented in this section. First the results for the current
distillation process are discussed, followed by the extrac-
tive distillation process using sulfolane. Next, the results are
discussed for the extractive distillation processes using the
different ILs. Finally, an overview is provided of the differ-
ent technologies, which is based on the energy requirements,
OPEX, CAPEX, and TAC.

4.1. Distillation

The process scheme of the current distillation process is
shown in Fig. 1a. In order to check the reliability of the sim-
ulated process, a base case scenario based on the patent by
Welch (2001) was simulated for an ethylbenzene impurity level
of 100 ppm. The required reflux ratio and NTS were 7.1 and
70, respectively. This corresponds to the data provided in the
patent by Welch (2001).  In Fig. 2a, the required NTS and reboiler
heat duty are illustrated as function of the ethylbenzene impu-
rity level at a constant reflux ratio of 7.1. At higher purity
constraints (10 ppm and 1 ppm, respectively), the required NTS
were 81 and 93, meaning that the NTS increases with decreas-
ing impurity level. This relationship can be derived from
the Fenske equation (Fenske, 1932). Moreover, Fig. 2a shows
that the reboiler heat duty slightly increases with decreasing
impurity level. This trend can be explained by the higher tem-
peratures in the bottom/reboiler of the distillation column at
lower ethylbenzene impurity level, because more  stages were
required and thereby the pressure drop increases across the
column. Moreover, the distillate rate slightly increases, and
thereby the amount to evaporate, with decreasing ethylben-
zene impurity level, which follows from the mass balance.

Fig. 2b shows the required reflux ratio and reboiler heat
duty as function of the ethylbenzene impurity level at a
constant NTS of 70. The reflux ratio and reboiler heat duty
both strongly increase with decreasing ethylbenzene impu-
rity level, which is common for distillation units (Doherty and
Knapp, 2000). For an ethylbenzene impurity level of 10 and 1,
reflux ratios are required of 8.7 and 12, respectively.

A reboiler heat duty of 6.6 MW was required for the styrene
finishing column. The sum of the energy requirements pre-
sented in Fig. 2a and the reboiler heat duty of the styrene
finishing column was used to compare the extractive distil-
lation processes to the current distillation process, because
varying the NTS to obtain higher styrene purities requires
lower heat duties than varying the reflux ratio. More stages
will require a larger CAPEX. However, a higher reflux ratio, and
thus keeping NTS constant (see Fig. 2b), results in much higher
internal liquid and vapor flows. Thereby, a much larger column
diameter is required, which also increases the CAPEX.

4.2. Extractive  distillation  process  using  sulfolane

4.2.1.  Extractive  distillation  column
The results from the optimization of the extractive distilla-
tion process for an ethylbenzene impurity level of 100 ppm
are depicted in Fig. 3. The trends were similar for impu-
keep the figure comprehensive. It was required to feed the
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Fig. 2 – (a) Required number of equilibrium stages (NTS) and reboiler heat duty (QREB) as function of the ethylbenzene
impurity level using a constant reflux ratio of 7.1. (b) Required reflux ratio (R) and reboiler heat duty (QREB) as function of the

ges o
ethylbenzene impurity level using a constant number of sta

sulfolane at stage number 8 to keep the sulfolane concen-
tration in the ethylbenzene top product below 1 ppm. Fig. 3a
shows that the reflux ratio of the extractive distillation column
decreases with increasing S/F ratio, which is a common trend
for extractive distillation columns (Sucksmith, 1982). The rel-
ative volatility increases with increasing S/F ratio (Jongmans
et al., 2011a),  and thereby the reflux ratio can be decreased to
obtain the same bottom and top purity. However, the reflux
ratio decreases stronger at lower S/F ratios with increasing S/F
ratio compared to higher S/F ratios, which originates from the
dependency of the relative volatility on the S/F ratio (Jongmans
et al., 2011a).  Fig. 3b displays the reboiler heat duty of the
extractive distillation column, which decreases with increas-
ing S/F in the low S/F range. The reboiler heat duty approaches
a minimum around a S/F of 2.5–3, depending on the NTS.
The energy requirements in the reboiler are mainly used for
evaporation (to obtain a certain boil up rate) and for solvent
heating (Sucksmith, 1982). The energy required for evapora-
tion decreases with increasing S/F ratio, which is a result from
the decrease of the reflux ratio. However, the amount required
for solvent heating increases linearly with increasing S/F ratio.
So, the energy requirements for evaporation are dominant at
low S/F ratios, but the amount required for solvent heating
becomes more  and more  dominant at higher S/F ratios. For

example at the S/F ratios of 1 and 5, the corresponding solvent
heating energy requirements are about 3 and 32% of the total

Fig. 3 – (a) Reflux ratio (R) of the extractive distillation column us
equilibrium stages (NTS) for an ethylbenzene impurity level of 1
distillation column as function of S/F ratio and NTS for an ethylb
NTS = 55; (· · ·)  NTS = 60; (–·–) NTS = 65; (–··–) NTS = 70; (—) NTS = 75;
f 70.

energy requirements, respectively. Fig. 3 also illustrates that
the reflux ratio and the reboiler heat duty both decrease with
increasing NTS. However, from Fig. 3b can be seen that the
reboiler heat duty does not decrease notably at a certain NTS,
because the minimum reflux ratio is approached to obtain a
certain top and bottom purity. An optimal NTS of 65, 70, and
75 were found for the ethylbenzene impurity levels of 100, 10,
and 1 ppm, respectively. At these NTS, the reboiler heat duty
decreases less than 1% compared to 5 stages less, which was
used as the criterion to select the optimal NTS. The next step
was to model the regeneration column, which is explained in
the next section.

4.2.2.  Regeneration  column
Varying the S/F ratio in the extractive distillation column
affects the requirements for the recovery columns as well.
Therefore, the regeneration columns were modeled for several
sulfolane/styrene ratios to investigate whether this ratio has a
large effect on the reflux ratio and the reboiler heat duty of the
solvent recovery columns. The results for these two parame-
ters for the first recovery column as function of the S/F ratio of
the extractive distillation column (i.e. sulfolane/styrene ratio)
and NTS of the recovery column are displayed in Fig. 4 for an
ethylbenzene impurity level of 100 ppm. The trends for 10 and

1 ppm and the second recovery column were similar to those
for 100 ppm and the first recovery column, but are not plotted

ing sulfolane as function of S/F ratio and number of
00 ppm. (b) Reboiler heat duty QREB of the extractive
enzene impurity level of 100 ppm. (—) NTS = 50; (– –)

 (––) NTS = 80; (· · ·) NTS = 85.
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Fig. 4 – (a) Reflux ratio (R) of the first sulfolane regeneration column as function of S/F ratio of the extractive distillation
column and number of equilibrium stages (NTS). (b) Reboiler heat duty QREB of the regeneration column of the extractive
distillation column as function of S/F ratio of the extractive distillation column and NTS. (�) S/F = 1; (�) S/F = 2; (�) S/F = 3; (�)
S
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o keep the figure comprehensive. The reflux ratio, and conse-
uently the reboiler heat duty both decrease with increasing
TS, which is typical behavior for distillation columns

Doherty and Knapp, 2000; Perry and Green, 1997; Seider et al.,
004). Fig. 4 also displays that the reflux ratio increases with
ncreasing sulfolane/styrene ratio (i.e. increasing S/F ratio).
he higher reflux ratio is required to maintain the amount of
ulfolane in the final styrene product below 10 ppb. The reflux
atio is hardly dependent on the styrene/sulfolane ratio at high
TS (>11–12) and approaches the minimum reflux ratio. The

ow reflux ratios (R < 0.2) are a result from the large boiling
oint difference between styrene (Tb = 145 ◦C, Lide and Haynes,
009) and sulfolane (Tb = 287.3 ◦C, Lide and Haynes, 2009). The
eboiler heat duty, however, is strongly dependent on the sul-
olane/styrene ratio, which is illustrated in Fig. 4b. The reboiler
eat duty increases with increasing sulfolane/styrene ratio,
ecause the amount required for solvent heating increases

inearly with increasing sulfolane/styrene ratio. An optimum
TS of 12, 13, and 14 were selected for the first sulfolane regen-
ration column for the ethylbenzene impurity levels of 100, 10
nd 1 ppm, respectively. An optimum NTS of 8 was selected for
he second recovery column, independent of the ethylbenzene
mpurity level. At these NTS, the reboiler heat duty decreases
ess than 1% compared to 1 stage less, which was used as the
riterion to select the optimal NTS.

.2.3.  Heat  integration
he results of the total process model with the different heat

ntegration steps are illustrated in Fig. 5a. The solid lines in
ig. 5a clearly demonstrate that the S/F ratio has a strong
ffect on the total required reboiler heat duty. The minimum
n reboiler heat duty is around a S/F ratio of 1.75 for the differ-
nt impurity levels if no heat integration would be performed.
ig. 5a also shows that the reboiler heat duty increases with
ecreasing ethylbenzene impurity levels, which was also the
ase for the current distillation process (see Section 4.1). How-
ver, the differences between the three impurity levels are
ot very large, which originates from the larger amount of
tages selected for the lower ethylbenzene impurity levels. The
nal conclusion, which can be drawn from Fig. 5a is that the
eat integration has a tremendous effect on the total required

eboiler heat duty (Gentry et al., 2004), which is indicated with
he dashed and dotted lines in Fig. 5a. For example, 95% of the
heat required for solvent heating can be recovered by applying
heat integration on the reboiler of the extractive distillation
column and evaporating a part of the organic feed stream at
an S/F ratio of 3 and an ethylbenzene impurity level of 100 ppm.
The OPEX were calculated for the total extractive distillation
process including the heat integrations for different S/F ratios
to determine the optimal S/F ratio. These results are displayed
in Fig. 5b for the three different impurity levels. There is a
clear minimum in OPEX at a S/F ratio of 2.5–3, depending
on the required impurity level. Normally, the OPEX are lin-
early dependent on the required heating and cooling duties.
However, chilled cooling water is required in the condenser of
the second recovery column to condense the styrene, which
requires more  OPEX compared to normal cooling water (see
Table 2). The cooling requirements in this condenser increase
with increasing S/F ratio, because more  styrene needs to be
recovered in the second recovery column at higher S/F ratios.
Hence, a minimum exists in OPEX at a S/F ratio of 2.5–3.

4.3. Extractive  distillation  processes  using  ionic  liquids

4.3.1. Extractive  distillation  columns
The results for the optimization of the extractive distillation
column for the ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and
[EMIM][SCN] are illustrated respectively in Figs. 6–8 for an
ethylbenzene impurity level of 100 ppm. The trends for 10 and
1 ppm were similar, but not included for readability reasons.
Where the S/F ratio was not constrained by any liquid–liquid
miscibility gap in the case of sulfolane, a liquid–liquid mis-
cibility gap does exist in all processes using ILs resulting in
a certain minimum S/F ratio required to maintain a homo-
geneous liquid phase. The minimum S/F ratios are 1.5, 3.8,
and 8.4 for the ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and
[EMIM][SCN], respectively. It can be seen in Fig. 6a (results for
[3-mebupy][B(CN)4]), that for an increasing S/F ratio, starting
from the minimum S/F ratio of 1.5, the required reflux ratio
to satisfy the purity constraints reduces. This trend is com-
mon, since the relative volatility increases with increasing S/F
ratio, which was also observed for the sulfolane process. How-
ever, because a rather large minimum S/F ratio is required to
obtain a homogeneous liquid phase, the addition of extra IL

does not result in a very strong decrease of the reflux ratio,
because adding extra IL above the minimum required S/F ratio
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Fig. 5 – (a) Total reboiler heat duty (QREB) as function of S/F ratio and ethylbenzene impurity levels. No heat integration: (�)
100 ppm; (�) 10 ppm; (�) 1 ppm, heat integration on reboiler: (�) 100 ppm; (©)  10 ppm; (�) 1 ppm. Heat integration on
reboiler + feed [(�) 100 ppm; (�) 10 ppm; (�) 1 ppm]. (b) Operational expenditures (OPEX) of the total extractive distillation
process as function of S/F ratio and ethylbenzene impurity level. (�) 100 ppm; (�) 10 ppm; (�) 1 ppm.

Fig. 6 – (a) Reflux ratio (R) of the extractive distillation column as function of S/F ratio and number of equilibrium stages (NTS)
for the IL [3-mebupy][B(CN)4]. (b) Reboiler heat duty QREB of the extractive distillation column as function of S/F ratio and NTS

 NTS
for the IL [3-mebupy][B(CN)4]. (—) NTS = 40; (––) NTS = 45; (· · ·)

does not result in a significant increase of the relative volatil-
ity. From Fig. 6a and b, it follows that although the reflux ratio
decreases with increasing S/F ratio, the required energy in the
reboiler increases. The increased heat duty with increasing S/F

ratio originates from the larger amount of energy required for
solvent heating with increasing S/F ratio. The optimum

Fig. 7 – (a) Reflux ratio (R) of the extractive distillation column as
(NTS) for the IL [4-mebupy][BF4]. (b) Reboiler heat duty QREB of th
NTS for the IL [4-mebupy][BF4]. (—) NTS = 35; (––) NTS = 40; (· · ·) NT
 = 50; (–·–) NTS = 55; (–··–) NTS = 60; (—) NTS = 65; (––) NTS  = 70.

S/F ratio is thus the minimum ratio to maintain a single
homogeneous liquid phase in the column. The results for
[4-mebupy][BF4] showed comparable trends, and also the
absolute amounts of energy required in the reboiler are very

comparable (see Fig. 7). However, due to the homogeneous
liquid phase constraint, more  solvent is needed. Even more

 function of S/F ratio and number of equilibrium stages
e extractive distillation column as function of S/F ratio and
S = 45; (–·–) NTS = 50; (–··–) NTS = 55; (· · ·)  NTS  = 60.
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Fig. 8 – (a) Reflux ratio (R) of the extractive distillation column as function of S/F ratio and number of equilibrium stages
(NTS) for the IL [EMIM][SCN]. (b) Reboiler heat duty QREB of the extractive distillation column as function of S/F ratio and NTS
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or the IL [EMIM][SCN]. (—) NTS = 20; (––) NTS = 25; (· · ·)  NTS = 

olvent is required in the case of [EMIM][SCN], as displayed in
ig. 8. Here, the minimum S/F ratio is already so high, that there
s hardly any effect of the S/F ratio on the required reflux ratio
isible. Here again, the absolute amount of energy required in
he reboiler is comparable with the other ILs.

When comparing the reflux ratios in the IL based pro-
esses with each other, it follows that the lowest reflux ratios
ere required for the IL [EMIM][SCN] and the largest reflux

atios for the IL [3-mebuby][B(CN)4]. This result was expected,
ased on the selectivities of the three ILs for the ethylben-
ene/styrene mixture (see Table 1), which decrease in the
rder of [EMIM][SCN] > [4-mebupy][BF4] > [3-mebupy][B(CN)4].
he reflux ratio is dependent on the relative volatility

Underwood, 1932), which is subsequently dependent on the
olvent selectivity (Kyle and Leng, 1965; Yin et al., 2010). The
ifferences in selectivity apparently do not yield large differ-
nces in energy requirements of the reboiler at the optimized
/F conditions, but do have a significant effect on the NTS that

s required.
With  respect to variation of the NTS, Figs. 6–8 also dis-

lay that the reflux ratio and thereby the reboiler heat duty
ecrease with increasing NTS. The same trend was observed
or sulfolane. The optimal selected NTS for the three different
Ls and the different ethylbenzene impurity levels are illus-
rated in Fig. 9a. A lower amount of NTS are required for the ILs
ompared to the current distillation and the sulfolane extrac-
ive distillation process. Even for the IL [3-mebupy][B(CN)4],
hich has a lower selectivity than sulfolane, less NTS are

equired compared to sulfolane, because the IL can be fed
t the top stage of the extractive distillation column. The
equired NTS for the different ILs decrease in the order of: [3-

ebupy][B(CN)4] > [4-mebupy][BF4] > [EMIM][SCN]. This trend
as also expected based on the selectivities of the three ILs

see Table 1). Moreover, Fig. 9a shows that more  stages are
equired for lower ethylbenzene impurity levels, which was
lso observed for the distillation and sulfolane extractive dis-
illation process.

The required reboiler heat duties of the extractive distilla-
ion column for the three ILs with the optimal selected NTS
re displayed in Fig. 9b. Fig. 9b shows that the lowest amount
f energy is required for the IL [4-mebupy][BF4]. However,
here is not a large difference in required reboiler heat duty
etween the three ILs. As explained above, the reboiler heat

uty is dependent on the energy required for evaporation and
olvent heating, which are related to the required reflux ratios
·–) NTS = 35; (–··–) NTS = 40; (—) NTS = 45; (––) NTS = 50.

and S/F ratios. These energy requirements for solvent heating
and evaporation are also displayed in Fig. 9b. The largest heat
duties for solvent heating are required for the IL [EMIM][SCN],
which can be explained by the larger required S/F ratio and its
slightly higher specific heat capacity (see Table 1) compared to
the other two ILs. However, [EMIM][SCN] requires the lowest
heat duty for evaporation, which corresponds to the results for
the required reflux ratios for the three ILs. [3-Mebupy][B(CN)4]
requires low amounts of energy for solvent heating, but high
amounts for evaporation. [4-Mebupy][BF4] requires average
heat duties for solvent heating and evaporation. These results
originate directly from the differences in solvent capacity and
selectivity of the three ILs (see Table 1). Finally, the conclusion
can be drawn that none of the ILs clearly outperforms the other
ILs based on the energy requirements of the extractive distil-
lation column. However, there is a difference in required NTS,
which will have an effect on the required CAPEX, which is dis-
cussed later on in this manuscript. Therefore, it is not possible
to already conclude if an IL with a high solvent capacity and
low selectivity is for example better than an IL with a low sol-
vent capacity and high selectivity. Therefore, the regeneration
section was also modeled for the three ILs and the three dif-
ferent ethylbenzene impurity levels, which is explained in the
next section.

4.3.2.  Regeneration  column
First, the influence of different styrene concentrations in
the IL recycle on the reflux ratios and reboiler heat duties
were investigated for the three ILs. The results from this
sensitivity analysis are illustrated in Fig. 10.  Fig. 10 shows
that the reflux ratios (left y-axis) and thereby also reboiler
heat duties (right y-axis) both increase with increasing
styrene concentration in the IL recycle for all three ILs. A
fraction of the added styrene in the IL recycle evaporates at
the top stage, where the IL recycle is fed to the extractive
distillation column. Therefore, the reflux ratio must increase
to maintain the same ethylbenzene purity (xEB = 98.3 mole%)
at the top of the extractive distillation column. From the sen-
sitivity analysis, the conclusion can be drawn that a styrene
concentration in the IL recycle higher than 1.4, 0.4, and
0.24 wt% should be avoided for the ILs [3-mebupy][B(CN)4],
[4-mebupy][BF4], and [EMIM][SCN], respectively. When styrene
is added via the recycle, a higher reflux ratio is required to

maintain the top purity of the extractive distillation column.
This will decrease the IL/organic ratio in the column, and will
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Fig. 9 – (a) Required number of stages (NTS) in the extractive distillation operations for the different ionic liquids and
ethylbenzene impurity levels. Blacks bars, [3-mebupy][B(CN)4]; grey bars, [4-mebupy][BF4]; light grey bars, [EMIM][SCN]. (b)
Required reboiler heat duty (QREB) for the different ILs and ethylbenzene impurity levels. Grey bars, solvent heating; light

grey bars, evaporation.

lead to liquid–liquid phase splitting. This cannot be avoided
when even more  IL is recycled. The maximum allowable
styrene concentrations in the IL recycles can be translated to
the minimum IL purity, which needs to be at least 98.6, 99.6,
and 99.76 wt%, respectively for the ILs [3-mebupy][B(CN)4],
[4-mebupy][BF4], and [EMIM][SCN].

Subsequently, it was explored if these IL purities can be
obtained using an evaporator which operates at mild con-
ditions (T = 130 ◦C, P = 11.1 mbar, see Section 3). Using these

conditions, IL purities of 99.0, 99.5, and 99.7 wt% can be
obtained for the ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and

Fig. 10 – Influence of styrene mass concentration (wSM) in the ion
duty (QREB) of the extractive distillation. (—) R; (––) QREB. (a) [3-me
[EMIM][SCN], respectively. It follows that the IL purity con-
straint for the [3-mebupy][B(CN)4] can easily be satisfied with
an evaporator operating at mild conditions, but not for the
other ILs. However, a large part of the styrene could already
be recovered using an evaporator at mild conditions; 97% for
[4-mebupy][BF4] and 96% for [EMIM][SCN]. Hence, a second
evaporator at lower pressures is required to further purify the
ILs [4-mebupy][BF4] and [EMIM][SCN]. Both ILs were regener-
ated to a purity of 99.9 wt%, because previous work on the

IL regeneration showed that purifying the IL to a slightly
higher purity than the minimum required purity, lowers the

ic liquid recycle on the reflux ratio (R) and reboiler heat
bupy][B(CN)4], (b) [4-mebupy][BF4] and (c) [EMIM][SCN].
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Fig. 11 – Total energy requirements extractive distillation
processes for the different ILs and ethylbenzene impurity
levels. Dark grey bars, solvent heating; grey bars,
evaporation; light grey bars, refrigeration.

e
l

with [4-mebupy][BF4] requires the lowest heat and cooling
duties. However, there are no large differences in energy

F
e
g

F
(
i

nergy requirements in the reboiler of the extractive distil-
ation (Jongmans et al., submitted for publication). Vacuum
ig. 12 – (a) Total energy requirements of the different processes 

xpenditures (OPEX) of the different processes for the different e
rey bars, sulfolane; grey bars, [3-mebupy][B(CN)4]; light grey bar

ig. 13 – Capital expenditures (CAPEX) for the different processes
extractive) distillation column; grey bars; solvent recovery unit; 

nvestment.
pressures of 2.64 and 4.43 mbar were required for the ILs [4-
mebupy][BF4] and [EMIM][SCN], correspondingly.

4.3.3.  Heat  integration
Finally, the total extractive distillation process was mod-
eled for the three ILs by closing the IL recycle and applying
heat integration. The final process scheme for the IL [3-
mebupy][B(CN)4] is shown in Fig. 1c. The process diagrams
for the ILs [4-mebupy][BF4] and [EMIM][SCN] are depicted in
Fig. 1d. It was not possible for the ILs [4-mebupy][BF4] and
[EMIM][SCN] to apply heat integration by evaporating part of
the organic feed stream. The reflux ratio increases if part of
the feed stream is evaporated. Thereby, the IL/organic ratio
in the top of the column reduces, which causes liquid–liquid
phase splitting. The total energy requirements are depicted
in Fig. 11 for the different ILs. The total energy requirements
are a summation of the energies required for solvent heat-
ing, evaporation, and refrigeration. The latter is required in
the processes for the ILs [4-mebupy][BF4] and [EMIM][SCN]
to condense the evaporated styrene in the second evapo-
rator. Fig. 11 shows that the extractive distillation process
for the different ethylbenzene impurity levels. (b) Operation
thylbenzene impurity levels. Black bars, distillation; Dark
s, [4-mebupy][BF4]; white bars, [EMIM][SCN].

 and ethylbenzene impurity levels. Dark grey bars
light grey bars, heat exchangers; white bars, solvent
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Fig. 14 – Total annual costs (TAC) for the different processes
and ethylbenzene impurity levels. Black bars, distillation;
dark grey bars, sulfolane; grey bars, [3-mebupy][B(CN)4];
light grey bars, [4-mebupy][BF4]; white bars, [EMIM][SCN].
requirements between the extractive distillation processes for
the different ILs. Therefore, the conclusion can be drawn that
it does not make a big difference if an IL is selected with
a high selectivity and low solvent capacity, or an IL with a
low selectivity and a high solvent capacity. Fig. 11 shows also
that still considerable energy duties are required for solvent
heating despite the heat integration for the processes with
the ILs [4-mebupy][BF4] (19%) and [EMIM][SCN] (37.4%). For
the IL [3-mebupy][B(CN)4] only 2.4% of the total heat duty is
required for solvent heating. This solvent heating is required
in the extractive distillation column, which cannot be recov-
ered by applying heat integration on the reboiler. Therefore,
the energy requirements for solvent heating in Fig. 11 are also
almost similar to the energy requirements for solvent heat-
ing presented in Fig. 9b. Fig. 11 also shows that there are no
large differences in energy consumption between the differ-
ent ethylbenzene impurity levels, which originates from the
larger amount of stages selected for the lower ethylbenzene
impurity levels. The different IL processes are compared to
the sulfolane and the conventional distillation processes in
the next section.

4.4. Overview  all  processes

The total energy requirements and OPEX are presented in
Fig. 12 for all processes. From Fig. 12a, the conclusion can
be drawn that all extractive distillation processes have lower
energy requirements (40–45%) compared to the current dis-
tillation process. The extractive distillation processes using
ILs do not outperform the extractive distillation process using
sulfolane. Compared to the sulfolane extractive distillation
processes the ILs [3-mebupy][B(CN)4] and [4-mebupy][BF4]
save only ∼1% and ∼5%, respectively on the energy require-
ments, whereas the IL [EMIM][SCN] has ∼5% higher energy
requirements. The IL [4-mebupy][BF4] slightly outperformed
the other ILs. The process with [4-mebupy][BF4] has 46.5%
and ∼10% lower OPEX compared to the distillation and sul-
folane extractive distillation process, respectively, which is
illustrated in Fig. 12b.

The CAPEX for the different processes are presented in
Fig. 13.  The CAPEX are a summation of the investment require-
ments for the (extractive) distillation column, solvent recovery
unit, heat exchangers, and solvent investment. Fig. 13 shows
that the largest investment is required for the (extractive) dis-
tillation column for all processes. This column is by far the
largest equipment in size, and the costs for the structured
packing Mellapak 250X contribute significantly to the total col-
umn investment (∼50%). The IL processes require all a lower
CAPEX than the current distillation process, except for the
process with the IL [3-mebupy][B(CN)4] at an ethylbenzene
impurity level of 100 ppm. The sulfolane extractive distillation
process clearly requires the lowest CAPEX. The large difference
between the extractive distillation processes using ILs and sul-
folane originates mainly from the difference in investment for
the solvent recovery unit. The solvent recovery unit is the sec-
ond largest contributor to the total CAPEX of the extractive
distillation processes with the ILs. The forced circulating evap-
orator (∼5.5 MD  ) and falling film evaporator (∼0.9 MD  ) are both
relatively expensive. The differences in CAPEX between the IL
processes are dominated by the different investments for the
extractive distillation column. The column investments are
clearly the lowest for the IL [EMIM][SCN], because for this IL the

lowest amount of stages (column height) is required and the
lowest reflux ratio (column diameter). The solvent investment
contributes only 3–7%, depending on the IL, to the CAPEX of the
extractive distillation processes at an IL price of 25 D /kg. At an
IL price of 200 D /kg, the solvent investment would contribute
about 23% to the total investment. Finally, the calculated TAC
are depicted in Fig. 14.  From this figure, the conclusion can be
drawn that all extractive distillation processes have lower TAC
than the current distillation process. However, sulfolane gives
slightly lower TAC than the ILs. ILs can thus not outperform
sulfolane to separate ethylbenzene from styrene by extractive
distillation.

5.  Conclusions

A conceptual design study was performed to investigate
whether extractive distillation using ILs is a promising tech-
nology to separate the ethylbenzene/styrene mixture up to
high styrene purities. Extractive distillation with sulfolane
and the current distillation process were taken as the bench-
mark processes. Three ILs were studied: [3-mebupy][B(CN)4],
[4-mebupy][BF4], and [EMIM][SCN]. The IL [4-mebupy][BF4]
slightly outperformed the other two ILs with up to 11.5% lower
energy requirements. The operational expenditures of the
[4-mebupy][BF4] process are 43.2% lower than the current dis-
tillation process and 5% lower than extractive distillation with
sulfolane. The capital expenditures were about 23% lower for
the sulfolane process compared to the [4-mebupy][BF4] pro-
cess. Finally, from the total annual costs, the conclusion can
be drawn that all extractive distillation processes outperform
the current distillation process to obtain high purity styrene,
but that ILs do not perform better than sulfolane.
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