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A conceptual design of the catalytic oxidative cracking (COC) of hexane as a model compound of naphtha
is reported. The design is based on experimental data which are elaborated through a structural design method
to a process flow sheet. The potential of COC as an alternative to steam cracking (SC) is discussed through
comparing the key differences between the two processes. The presence of Li/MgO catalyst in the COC
process (i) induces hexane cracking at lower operation temperatures (575 °C) than in SC (800 °C) and (ii)
controls the olefin distribution by increasing the ratio of (butylene + propylene)/ethylene. The product
distribution, and thus the separation train of both processes, is different. Catalytic oxidative cracking is designed
to maximize propylene and butylene production, while steam cracking is designed to maximize ethylene
production. In comparison to SC, the COC process is more energy efficient and consumes 53% less total
duty for a production capacity of 300 kton/year of light olefins. However, a preliminary economic evaluation
illustrates that the loss of valuable feedstock as a result of combustion of part of the naphtha feed makes the
COC process economically less attractive than SC.

1. Introduction

Light olefins (ethylene (C2
d), propylene (C3

d), and butylenes
(C4
d)) are the building blocks for the chemical industry. They

are currently the raw materials for the synthesis of (i) bulk
chemicals, e.g., ethylene oxide and acrolein; (ii) polymers, e.g.,
polyethylene, -propylene, or -butylenes; and (iii) fuels such as
diesel and gasoline, e.g., by butene/butane alkylation. In a world
with continuous development in the production of new synthetic
materials, the demand for these petrochemicals is increasing
tremendously, and a growth rate of 4% is predicted for the
coming years.1 The propylene market is growing faster than
the ethylene market by ∼1%.1 Thus, propylene yields from
current production technologies are unlikely to be able to satisfy
these demands.

Steam cracking (SC), despite being the major route for the
production of light olefins, is less attractive both environmentally
and economically, as it is the most energy-consuming process
in the chemical industry. It is reported1 that the pyrolysis section
of a naphtha steam cracker alone consumes approximately 65%
of the total process energy required and generates approximately
75% of the total exergy loss. Moreover, the process is ac-
companied by high emissions of CO2 as a result of fuel
combustion. The drawbacks of this process have urged sub-
stantial interest in the development of alternative routes for light
olefin production.1 Although intensive research is performed
in this area, only a few processes have been commercialized.
Catalytic dehydrogenation processes (Oleflex, STAR, FDB-4,
Catofin) were developed in the early 1980s as alternative routes
for light olefin production.2-4 However, these processes have
made only limited breakthroughs commercially. The major
disadvantages of this route is the thermodynamic equilibrium,
leading to limited yields, and the strong tendency to coking and
consequently catalyst deactivation, leading to short lifetimes of
the catalyst.

Catalytic oxidative cracking (COC) of naphtha to light olefins
is conceptually a promising alternative to SC for a variety of
reasons: (i) the process runs autothermallysreaction in the
presence of oxygen is exothermic, and therefore the energy
required for cracking can be generated in situ; (ii) the presence
of oxygen shifts the thermodynamic equilibrium, overcoming
the olefin yield limitations encountered during the dehydroge-
nation reactions; and (iii) the presence of oxygen limits the
extent of coking. Moreover, the presence of a catalyst enhances
the C-H and C-C bond cleavage in the alkane, thus inducing
activity at lower temperatures than those utilized in SC. We
expect that with oxygen cofeeding (autothermal operation) and
catalytically induced reaction at relatively low temperatures, the
external energy input (fuel combustion) will be minimized, and
consequently COx and NOx emissions will be reduced. More-
over, with the presence of a catalyst, we aim to control the olefin
distribution by increasing the ratio of the high olefins (propylene,
butylenes) to ethylene. This is possible to some extent in SC
by varying reaction conditions; nevertheless, ethylene remains
the major product.1

The development of an efficient oxidation catalyst that
minimizes combustion, however, remains a challenge. The right
catalyst should be able to selectively activate the alkane in the
presence of the very reactive olefins, thus inhibiting the
consecutive deep oxidation of the product olefins. Li/MgO
catalyst has shown promising performance for the oxidative
dehydrogenation/cracking of light alkanes5-14 and recently for
the oxidative cracking of hexane.15 Li/MgO is basic in nature
and possesses no formal redox properties. Therefore, unlike the
case in oxidic catalysts with redox properties, e.g., V2O5/MgO,16

consecutive combustion of olefins over this catalyst is signifi-
cantly suppressed. Thus, the high selectivities to olefins are
maintained, even at high alkane conversions.12-15 In the
oxidative cracking of butane and propane over Li/MgO catalyst,
despite the high conversion levels achieved (70 mol % of
n-butane and 60 mol % of propane), appreciable selectivities
to light olefins of ∼60 mol % were obtained.12

In the present study, the technical feasibility of the COC
process using hexane as a model compound for naphtha over
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Li/MgO catalyst is reported. Moreover, the technical and
economic potential of the process in comparison to SC is
discussed. Experimental results from the oxidative cracking of
hexane over Li/MgO catalyst previously reported by us15 are
the basis for the mass balance and design calculations. These
results are utilized together with a structural design method17,18

to develop, step-by-step, the process flow sheet for the oxidative
cracking process (Figure 1).

2. Experimental Results

Experimental results of COC of hexane over Li/MgO are
presented in Figures 2-4. The catalytic tests were carried out
at atmospheric pressure and isothermal conditions in a conven-
tional fixed-bed reactor. Total feed of 100 mL/min was used.
The feed consisted of 10 mol % of hexane vapor, 8 mol % of
O2, and balance helium. Different hexane conversions were
achieved by varying the weight hourly space velocity between
5 and 15.4 h-1. The kinetic experimental setup and a detailed
analysis of experimental results are reported in ref 15.

Results of experiments in the temperature range 425-575
°C (Figure 2) showed a clear influence of temperature on both
hexane conversions and selectivity to products.15 Hexane
conversion increased with temperature. Gas-phase activation of
hexane (not shown here) started to be noticeable at temperatures
above 600 °C. Therefore, to minimize gas-phase non catalytic
conversion of hexane, 575 °C was selected as an optimum
temperature. It is generally believed that [Li+O-] in Li/MgO is

responsible for the catalytic activity. The [O-] site is a strong
hydrogen abstractor and induces homolytic scission of the C-H
bond in the hexane, forming a radical (eq 1).

The formed radical then undergoes complex radical chemistry
in the presence of oxygen in the gas phase (eq 2), forming a
product mixture of C2-C5 olefins and C1-C5 alkanes, as well
as combustion products (H2O and COx) and byproduct H2.

15

Thus, oxidative cracking over Li/MgO is a heterogeneously
initiated homogeneous reaction. With increasing temperature,
a continuous decrease in COx formation and a continuous
increase in C2-C4 olefin formation was observed (Figure 2). A
typical product mixture of COC over Li/MgO at 575 °C is given
in Figure 3. At these reaction conditions (300 mg of catalyst),
45 mol % hexane conversion and 63 mol % selectivity (based
on C) to C2-C4 olefins was observed. Carbon and hydrogen
balance closed within (5%.

Further, the influence of the mole fraction of oxygen in the
feed on both hexane conversions and selectivities to olefins has
been studied (Figure 4). Oxygen in the feed up to 4 mol % has
a significant influence on hexane conversions. This is mainly
explained by the role of oxygen in regenerating the catalyst by
removing hydrogen from the surface [Li+OH-] species (eq 3)

Figure 1. Steps to systematically create a process flow sheet.

Figure 2. Influence of temperature on hexane conversions and selectivities
to products during the oxidative cracking of hexane over Li/MgO. Reaction
conditions: 100 mL/min; 10% hexane, 8% oxygen, balance helium; catalyst
amount, 100 mg.15

Figure 3. Product distribution observed during the oxidative cracking of
hexane. Selectivities based on C (a) and based on H (b) are presented.
Reaction conditions: 100 mL/min; 10% hexane, 8% oxygen, balance helium;
T ) 575 °C; catalyst amount, 300 mg; hexane conversion, 45 mol %.15

C6H14 + O-
s f C6H13

• + OH-
s (1)

C6H13
• + O2(g) f R-C1-C5 (alkanes, olefins) + �COx +

γH2O + δH2 (2)
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formed during the oxidation of hexane. The further slight
increase in hexane conversion with increasing mole fraction of
oxygen above 4 mol % is explained by the role of oxygen in
accelerating the radical chemistry through the formation of HO2

•

radicals, which act as chain propagators in gas-phase reactions
(eq 4). Oxygen also plays a significant role in inhibiting coke
formation. However, increasing the mole fraction of oxygen
results in an increase in COx formation. Moreover, an increase
in the risk of explosion is expected. Therefore, optimal oxygen
mole fractions are necessary to maximize hexane conversions
and minimize both combustion reactions and explosion risk.

The reported experimental data of catalyst activity (45 mol
% of hexane conversion) and selectivity to various products
presented in Figure 3 are further utilized to determine the
composition of feed and product streams of the process overall;
hence, they are the basis for the mass balance and design
calculations. However, it is necessary to note that these catalytic
experiments were performed under conditions far from those
to be implemented in a real process, where naphtha will be
cracked at conditions set to maximize conversions. In these
experiments, hexane was used as a model compound of naphtha.
This is not unusual, as hexane cracking has been used to model
naphtha cracking in fluid catalytic cracking (FCC) processes.19

Moreover, in the experimental work our objective was to study
the performance of the catalyst; hence, to minimize gas-phase
activation of hexane, low mole fractions of hexane and oxygen
were used by dilution in helium. The hexane-to-oxygen ratio
to be used in this process design and choices regarding the
dilution are discussed below in the conceptual design section.
Figure 5 presents a black box of the process, identifying the
key process overall parameters.

3. Conceptual Design

Figure 6 presents a functional block diagram of the COC
process. The process feed consists of hexane and oxygen. The
possible use of diluent is discussed later. Due to the low
conversion in the reactor (45 mol %), it is decided to recycle
the unconverted hexane. Propylene and butylenes are the main
desired products and are recovered together and separately from
ethylene and the remaining byproduct (heavy olefins (C5),
C1-C5 alkanes, H2, H2O, COx). Based on various process
alternatives and choices, this block diagram is elaborated further
to a comprehensive flow sheet. Overall process alternatives and
choices made are given in Figure 7. Decisions and choices are
further discussed below.

3.1. Feed. Hexane and oxygen are the only feeds to the
process. Pure oxygen is decided to be utilized instead of air or
a mixture of oxygen and diluent since the separation of the
diluent (e.g., air or N2) is complicated and costly. Thus, oxygen
is considered as a commodity chemical which is purchased,
hence avoiding the need for an air separation unit in the process.
To avoid explosion, oxygen mole fractions in the reactor should
be limited. Figure 8 presents the ternary diagram of explosion
limits for a mixture of octane (as model compound of naphtha),
oxygen, and hydrogen at reaction conditions. Since the reactor
volume consists mainly of a mixture of hydrocarbons, oxygen,
and hydrogen, the process should be operated at a very high
volume percentage of alkane and a low volume percentage of
oxygen to avoid explosive mixtures. Since one of the concepts
of COC is autothermal operation, a certain amount of oxygen
is required for the combustion of a part of the alkane feed. The
minimum oxygen mole fraction required for autothermal opera-
tion was estimated using eqs 5-7 and was based on octane as
the alkane feed. It is assumed that this estimation is also valid
when hexane or naphtha is used as a feed. The relative reaction

Figure 4. Influence of the mole fraction of oxygen on hexane conversion
as well as selectivity to products: (b) hexane conversion, (2) selectivity to
COx, and ([) selectivity to light olefins (C2

d-C4
d). Oxygen conversions:

68.5, 65.2, and 38.5 mol % at 4, 8, and 20 mol % O2, respectively. Reaction
conditions: 100 mL/min; 10% hexane and balance He; T ) 575 °C; catalyst
amount, 100 mg.15

Figure 5. Black box of the COC process.

2Li+OH- + 1/2O2 f 2Li+O- + H2O (3)

CnH2n+1
• + O2 f CnH2n + HO2

• (4)

Figure 6. Functional block diagram of the COC process.

Figure 7. Alternatives and choices.
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enthalpies of eqs 6and 7 are almost invariant with the carbon
number; i.e., ∆Hr/∆Hcomb ) 0.082 and 0.078 for octane and
hexane, respectively.

The values of the required parameters are given in Table 1. It
is assumed that the uncombusted octane reacts to four molecules
of ethylene and one molecule of hydrogen (eq 6).

Assuming an inlet temperature of 25 °C and a 45% of
conversion of octane to olefins (reaction 6), eq 5 was solved
for the fraction of octane (fburned) needed to be combusted to
provide the heat of reaction 6. Results indicate that 6.25 mol %
of the octane feed needs to be combusted to provide enough
heat for autothermal operation of reaction 6. Assuming complete
combustion of the octane according to reaction 7, the mole
fraction of oxygen needed (if fed totally at the reactor inlet) for
sufficient heat production for autothermal operation was cal-
culated to be 45 mol %.

However, according to the explosion limits, this percentage of
oxygen is not within the safe operating zone. Since safe
operation necessitates maximum oxygen mole fractions of
20-30 mol %, we conclude that, in the case of cofeeding
oxygen in one stage at the reactor inlet, it is impossible to
operate autothermally. Autothermal operation, however, would
be possible when using multiple oxygen feeds, where local
oxygen mole fractions are kept low.

3.2. Reactor. To prevent coupling reactions in the reactor
during the COC process, products must be rapidly removed from

the reaction zone. Thus, high gas hourly space velocities should
be utilized (ranging from 100,000 to 1,000,000 h-1) to minimize
the residence time inside the reactor.22 The reactor selection is
done according to the method of Krishna and Sie.21

Fixed bed reactors (FBR), fluidized bed reactors (FLBR), and
catalytic membrane reactors (Figure 7) are conceptually potential
reactor choices for oxidation reactions.22 The significant ad-
vantage of the FLBR is the possibility of achieving an isothermal
catalytic bed, thus avoiding the hot spots typical of FBRs. For
autothermal operation at low residence time, the utilization of
a FLBR leads to better selectivities compared to a FBR. For
the oxidative dehydrogenation of propane, butane, and isobutane,
the use of these reactors led to remarkable selectivities to
olefins.22 The high selectivities achieved with this reactor were
explained by the total oxygen consumption close to the
distributor, hence inhibiting the consecutive combustion of the
olefins formed at the beginning of the catalytic bed.

In addition, in a FLBR it is possible to utilize a distributed
oxygen inlet along the catalytic bed.22 Oxygen differentiation,
assuming moderate gas back-mixing conditions in the FLBR,
maintains a gas composition outside the flammable region and
ensures safe operation. Moreover, controlled oxygen distribution
minimizes the extent of complete combustion reactions. Thus,
it is decided to use multiple oxygen feeds along the fluidized
bed.

The utilization of a catalytic membrane reactor, although
conceptually promising, is not considered for this process due
to the cost of ceramic membranes.

3.3. Separation. The separation order is determined using
the method of Barnicki.23 On the basis of this method, alternative
separation routes were developed (Figure 7) and compared.
Separation trains that would result in the most efficient
separation were selected. Similar to SC, the reactor outlet has
to be quenched directly after the reactor to prevent coupling
reactions. After quenching, the process stream consists of six
groups of components that need to be separated: heavy oil (C5

products + quench oil), light olefins (C2-C4) and alkanes
(C1-C4), unconverted feed, combustion products (CO, CO2,
H2O), and byproduct H2. The liquid-phase products i.e.,
unconverted feed, quench fluid (quench oil and C5 products),
and water, should be separated first to prevent the formation of
solids at high-pressure and low-temperature conditions later in
the separation process. For similar reasons, removal of CO2 at
early stages is favorable. Figure 9 presents a functional flow
sheet of the process, with block A representing the first
separation unit and block B the second separation unit. In block
A, the quench oil, water, and unconverted feed are separated
and recycled. Afterward, CO2 and remaining water are removed.
In block B, light olefins (C2-C4) and alkanes (C1-C4) as well
as the byproduct H2 and CO are separated.

3.3.1. Separation Block A. Figure 10 represents the separa-
tion units of block A. To increase efficiency of separation,
the utilization of two distillation columns is favored over
the phase separators. In the first distillation column, 100%
of the quench oil and C5 products, 94% of the water and
78% of the unconverted hexane are recovered in the bottom
stream. The remaining products (22% of the unconverted
hexane, 6% of the water, C1-C4 olefins and alkanes, CO2,
CO and H2) are fully recovered in the top stream. In the
decanter water is separated from the apolar hydrocarbons.
The hydrocarbon stream leaving the decanter consists only
of 0.7% of water. The hydrocarbons are then separated with
the second distillation column. The hexane stream (99.9%
recovery) is sent to the reactor, and both the quench oil and

Figure 8. Explosion limits of reaction mixture at reaction conditions.20

Table 1. Physical Properties of Octane

property value

Cp,gas (J/mol ·K) 241
Cp,liquid (J/mol ·K) 255
Tboil (K) 399
∆Hvap (kJ/mol ·K) 35
HHV (kJ/mol) 5074
HHV (kJ/kg) 44419
∆Hreaction (kJ/mol) 416
Treaction (K) 775

fburned - ∆Hcombustion ) (1 - fburned)(∆Hvap
[evaporation]

+

Cp,liquid(Tboil - Tfeed)
[liquid heating]

+ Cp,gas(Treaction - Tboil)
[gas heating]

+ �∆Hr)
[heat of reaction]

(5)

C8H18 f 4C2H4 + H2 ∆Hr ) 416 kJ/mol (6)

C8H18 + 12.5O2 f 8CO2 + 9H2O ∆Hr ) -5074 kJ/mol
(7)
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C5 products (modeled as nonane) (99.5% recovery) are sent
to the quench.

3.3.2. Sour Gas and Water Removal. In practice, sour gases
(CO2, H2S) are removed using absorption towers with amine
solutions.24 This technique is commercially available and is also
used in this process design for CO2 removal. The remaining
6% of water from the top stream of block A, together with water
from the CO2 absorption unit (amine-water solution), is
separated by using a molecular sieve (MS 13X).

3.3.3. Separation Block B. Distillation columns are selected
for the separation of all hydrocarbon streams. Compared to
alternatives mentioned in Figure 7, e.g., absorption and PSA
(99.5% recovery), distillation results in more efficient separation
(99.99% recovery). The Olex process25 can provide an efficient
separation, as in distillation; however, this process requires a
liquefied feed and hence is not considered as a suitable choice.

Because of the low relative volatility of C2/C1, C2/C3, C2/
C2
d, and C3/C3

d, cryogenic distillation is needed for the separation
of these products. Regarding the order of separation of the light
products, i.e., C1-C4 olefins/alkanes, CO and H2, it is decided,
unlike in SC, to first separate the C4 products from C3 and all
remaining lighter products (C2, C1, CO, H2). C4/C3 separation
is easier than C2/C3 separation and can be operated at low
pressures. Pressurizing the stream after C4 removal for C2/C3

separation will be less energy consuming. Figure 11 presents a
block scheme for the separation block B. Butane and butylene
are first separated from the process stream. Afterward, C2/C3

hydrocarbons are separated, followed by separation of C1/C2,
C2
d/C2, and C3

d/C3. H2 is recovered with a palladium-silver
membrane, which is a method already used industrially.

4. Process Flow Diagram

For the simulation of the process, UNISIM Design Suite R380
is used. The property set chosen for the simulation is the
Peng-Robinson equation of state. The process is designed for
a total capacity of 300 kton/yr of C2

d-C4
d products. Due to the

lack of sufficient kinetic data, a simplified conversion model
was used for the reactor, and simulation was performed starting
from the reactor outlet. Hexane was used as a model compound
of naphtha. For process simulation, a hexane-to-oxygen molar
ratio of 5:3 was used. This amount of oxygen is not sufficient
for autothermal operation but was selected for consistency with
experimental conditions. The use of multiple oxygen feeds in
the FLBR is expected to provide safe operation. A process
overall hexane conversion of 45% was considered, and complete
oxygen conversion was assumed. The reactor outlet composition
was based on experimental results presented in Figure 3. Some
of the separation units (e.g., sour gas removal) involve absorp-
tion and/or desorption processes and hence were not modeled.
The distillation columns in block B were designed using the
McCabe-Thiele method. Figure 12 presents a process flow
diagram and a comprehensive mass balance of the COC process.

Fire and explosion index (F&EI) as well as HAZOP studies
for COC indicate that the process has an intermediate degree
of danger. Specifically, the risk of explosions demands extra
safety precautions; therefore, extra pressure, temperature, and
flow controls should be installed near the reactor. Extra safety
valves are advisable near the reactor as well. The Chemical
Exposure Index (CEI) indicates that, in terms of toxicity, the
process is relatively safe, as there are no highly toxic chemicals
in the process. Of course, this is no permit to neglect general
safety procedures regarding toxic chemicals. With the extra
safety measures, this plant is safe enough to be built.

5. Differential Study of Catalytic Oxidative Cracking vs
Steam Cracking

The potential industrial application of the COC process
depends on both the technical and economic advantages the
process is able to achieve, as compared to the conventional SC
process. Thus, to evaluate the COC process, a comparative study
of both COC and SC processes is essential. The key process
differences between the two processes are the following: (i) the
presence of the catalyst in the COC; (ii) the feedsCOC uses
O2 in the feed with no diluent while SC uses steam as diluent,
(iii) the temperature of operationsSC operates at 800 °C while
COC operates at 575 °C; (iii) SC uses an external source of
heating, while in COC part of the heat of reaction is provided
autothermally inside the reactor, thus reducing external fuel
combustion; and (iv) the products formed lead to different
separation orders in block B. These parameters introduce
differences in the reactor design, product distribution, and
separation trains; hence, there are significant differences in the

Figure 9. Functional flow sheet of the COC process.

Figure 10. Separation units of block A.
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energy consumption of the two processes. A functional block
diagram of both processes is shown in Figure 13 and presents
the key differences between these two processes.

The COC process, due to the presence of the catalyst and
oxygen in the feed, operates at a much lower reaction temper-
ature (575 °C) and results in a completely different product
distribution than in SC. A simplified comparison of reactor outlet
products of the COC of n-hexane (our results) and the SC of
n-hexane at 720 °C26 is shown in Table 2. The presence of the
catalyst provides control over the olefin distribution, increasing
the selectivity to total butylenes and propylene. COC results in
a (C4

d + C3
d)/C2

d molar ratio of 1.5, against a (C4
d + C3

d)/C2
d

molar ratio of 0.4 in SC. Previously, during the oxidative

conversion of propane to propylene, Sinev and co-workers27

reported that the abstraction of a secondary hydrogen atom from
the alkane by surface [O-] sites ([Li+O-] in Li/MgO) is
energetically more favorable. Similarly, in the case of hexane,
the high (C4

d + C3
d)/C2

d molar ratios are explained by the
involvement of the catalyst in the process and the related
preference for hydrogen abstraction from a secondary carbon
atom, forming isohexyl radicals. �-Scission of isohexyl radicals
at relatively mild cracking conditions (T ) 575 °C) will result
in a higher ratio of high olefins to ethylene. However, SC
follows a radical chemistry route:28 the carbon radicals (primary
or secondary) formed initially via C-H bond cleavage, after

Figure 11. Block scheme for separation block B.

Figure 12. Process flow sheet of COC process and comprehensive mass balance.
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subsequent �-cleavage, result in primary radicals. Every further
�-cleavage of the primary radicals formed results in C2 product.

In the COC process, in addition to hydrocarbons, 1.3 mol of
combustion products (CO + CO2) per mole of hexane converted
is formed. Carbon loss is hence considered a drawback of this
process. In SC, however, byproducts like aromatics and diolefins
have revenues. Total CO2 emissions from the COC process (1.2
mol/mol of hexane converted) are slightly lower than emissions
from SC (1.5 mol/mol of hexane converted).

The differences in product distribution in the two processes
lead to differences in the separation trains. The separation of
heavy products and quench oil (block A in Figure 13) in both
processes is similar. In SC, however, there are more water and
heavy components to be separated. In addition, in SC due to
the higher reactor outlet temperature, approximately double the
amount of quench oil is needed to cool the products. The
composition of the light product stream, however, is very
different in the two processes. Therefore, the separation order
of the light product stream is fundamentally different (block B
in Figure 13). The SC process is designed for a maximum
ethylene production and recovery; hence, light olefins are
separated first. The COC process is designed for production and
recovery of propylene and butylene; hence, these olefins are
separated first. In addition, a significant difference in the
separation train of the two processes is the need for CO2

separation in the COC process. Figure 14 presents a process
flow sheet of the SC process obtained from the literature.28

The utilities (hot/cold) required for the COC and SC processes
were estimated by performing heat integration of both processes.
Heat integration was based on identifying both cold and hot
streams and determining the pinch temperature.18 Heat integra-
tion results of both COC and SC processes are presented in
Table 3. Results indicate that the COC process consumes 53%
less total duty than the SC process, making the process much
more energy efficient. The high energy consumption in SC is
mainly due to the large amount of hot utilities required for
vaporization of water as diluent in the feed, as well as energy
needed to heat the crackers to 800 °C. The COC process
however, due to the lower operating temperatures, uses signifi-
cantly less hot utilities, which makes the heat integration much
more efficient than in SC (see Table 3). Heat integration of COC
reduced the amount of utilities required for the process by 60%,
while this was only 38% in SC. The specific amount of energy
consumed in the SC process was calculated to be 17 GJ/ton of
light olefins produced, while this was 8 GJ/ton of light olefins
in the COC process. The claim that the COC process is more
energy efficient is proven valid.

6. Economic Evaluation

We assume that the process design elaborated in the sections
above for the COC of n-hexane is similar when naphtha is used
as the feed. Hexane cracking has been used to model naphtha
cracking in FCC processes, and results have been quite relevant
with those of hexadecane in laboratory tests and the MAT tests
in refineries.19 On such a basis, the economic potential of the
COC of naphtha was investigated.

The methods of Hill and Lang ((50% accuracy) were used
to estimate the capital costs of the COC process.29 The capital
costs of the plant were estimated, utilizing equipment design
and costs data (not shown here), to be $147 million. The
operational costs consist of costs of feed stocks (naphtha and
oxygen), utilities, maintenance and operations, depreciation (8%
of total depreciable capital), and general expenses (12% of
sales). Oxygen is purchased as a commodity chemical at a cost
of $30/ton.30 This price includes the cost of energy required
for producing the oxygen. The pie diagram in Figure 15 presents
the distribution of the operational costs. The total operational
costs were estimated at $281 million per year, of which 74% is

Figure 13. Key process differences between the COC and SC processes.

Table 2. Reactor Outlet of Both COC and SC Processes

mol/mol of hexane converted

COC SC26

H2 0.30 0.44
CO 0.44
CO2 (from cracking reaction) 0.87
H2O 0.54
C1-C4 paraffins 0.24 0.40
C2
d 0.57 1.33

C3
d 0.61 0.48

C4
d 0.27 0.02

alkynes/diolefins 0.14
naphthenes/aromatics 0.01
other C5

+ 0.16 0.07
(C4
d + C3

d)/C2
d 1.54 0.38

CO2 from external fuel combustiona 0.3 1.5

a Calculated CO2 emission from methane combustion to provide
sufficient heat to operate the reactor.
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the cost of naphtha feed. This implies that carbon loss as a result
of combustion of part of the valuable naphtha feed makes the
COC process economically less attractive than SC. In SC,
methane (a cheaper fuel than naphtha) is utilized as fuel and
naphtha feed is efficiently converted to products. Moreover, the
heat utilities present only 3% of the total operational costs, which
implies that the energy efficiency of the COC process as
compared to SC does not result in significant savings in
operational costs.

Using the current market prices in the Middle East of naphtha,
ethylene, propylene, and butylenes,31,32 the revenues of the COC

process were estimated at $283 million per year. Thus, the
insignificant difference between product revenues ($283M) and
operation costs ($281M) strongly suggests that the COC process
is economically yet unfeasible.

However, as it is predicted that in coming years the demand
for propylene and butylene will increase, it is relevant to assume
that the prices of these chemicals will also increase. Similarly,
the demand for oil will probably increase as well, leading to an
increase in the price of naphtha. Therefore, NPV analysis18 for
different scenarios was performed. The scenarios were defined
as follows: scenario 1, current market prices were used; scenario
2, current market price of naphtha was used and 25% increase
in the price of propylene and butylene was estimated; scenario
3, 25% increase in the price of each of propylene, butylene,
and naphtha was estimated; scenario 4, prices as they were in
2008; scenario 5, average price of naphtha over the years 2008
and 2009 was used and 25% increase in price of propylene and
butylene was estimated. Table 4 presents the NPV analysis of
the five scenarios. It is clear from scenarios 4 and 5 that an
increase in the price of naphtha has a detrimental effect on the
NPV. The most promising scenario is scenario 2, with a $193
million profit at year 10. Scenario 5 would be, however, the
most probable and realistic scenario. Nevertheless, even with

Figure 14. Process flow sheet of the steam cracking process.28

Table 3. Hot and Cold Duties of the COC and SC Processes, before
and after Heat Integration

SC COC process

before heat integration cold utilities (MW) 107 121
hot utilities (MW) 189 92
total duties (MW) 296 213

after heat integration cold utilities (MW) 50 57
hot utilities (MW) 133 27
total duties (MW) 183 85

reduction by heat integration 38% 60%
total duties compared to SC 100% 47%

Figure 15. Pie diagram of operational costs.

Table 4. NPV Analysisa

scenario
1

scenario
2

scenario
3

scenario
4

scenario
5

naphtha ($/kg)b 0.5 0.5 0.6 1.0 0.8
ethylene ($/kg)b 1.0 1.0 1.0 1.5 1.0
propylene ($/kg)b 1.0 1.3 1.3 1.5 1.3
butylene ($/kg)c 0.8 1.0 1.0 1.0 1.0
BEP (year) 4
NPV (mln USD) -136 193 -158 -679 -510

a It is assumed that the plant is built in year 0 and lifetime is 10 yrs.
Discount rate of 10% is assumed. b Prices obtained from YNFX.29

c Prices obtained from ICIS.30 BEP, break-even point; NPV, net present
value.
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this scenario, the break-even point will not be reached after 10
years, and the loss after 10 years was estimated to be $510
million.

The performance of the Li/MgO catalyst and the selectivity
to C2-C4 olefins are also influential factors in the economic
feasibility of the COC process. Thus, a feasibility study was
performed to see at which selectivity to olefins the process
becomes economically attractive. Revenues were calculated for
100% conversion and a total C2-C4 olefin selectivity of 60%,
77.5%, and 100%. The current market prices and the relative
fractions of the individual olefins, as reported in Figure 3, were
used.

Figure 16 shows the revenues per ton of naphtha against the
overall selectivity. Results indicate that the selectivity to C2-C4

olefins should be above 63 mol % for the COC process to break
even. Thus we conclude that, based on the C2-C4 selectivities
(63 mol %) achieved with the Li/MgO catalyst and the current
market prices, the COC process will not be profitable. The
profitability of the COC process is thus highly dependent on
(i) the development of the market prices of ethylene, propylene,
and butylene and (ii) the design of more selective catalysts with
C2-C4 selectivities above 65 mol %. Catalysts that will enhance
C-C bond cleavage in the alkane and further minimize
combustion are essential.

In order to reduce the extent of combustion of the valuable
naphtha feed and yet maintain an autothermal operation,
recycling of C1-C4 paraffins and their combustion can be
considered as a promising alternative.

Moreover, it is highly recommended to investigate reactor
design parameters, specifically the catalyst volume-to-empty
reactor volume ratio. Burch and Crabb33 suggested that, during
the oxidative conversion of propane, the combination of
heterogeneous (catalytic) and homogeneous (gas-phase) reac-
tions is necessary to obtain commercially acceptable yields of
olefins. Similarly, in the case of oxidative cracking of naphtha,
an optimized ratio of heterogeneous surface reactions to
homogeneous gas-phase reactions is expected to significantly
enhance the yields of olefins.

Finally, it is essential to realize that an experimental study
using naphtha as the feed will provide more representative and
accurate design data.

7. Conclusions

A conceptual design of the catalytic oxidative cracking
process as an alternative to steam cracking for light olefins
proved that the process is technically feasible. However, there

are some constraints because the design is based on experimental
data where reactants (hexane and oxygen) were diluted in
helium. The presence of diluent in the process is economically
not feasible; thus, pure hexane and oxygen have been considered
as the feed. Safe operation, out of the explosion window, places
severe restrictions on the feed composition. It is concluded that
fully autothermal operation of the process is possible only with
multiple oxygen feeds along the fluidized bed reactor.

In comparison to SC, the presence of the Li/MgO catalyst in
the COC process (i) allows operation at 575 °C, which is much
lower than temperatures utilized in SC, and (ii) controls the
olefin distribution, increasing the ratio of (C4

d + C3
d)/C2

d. The
presence of oxygen is crucial to (i) internally provide heat for
the endothermic cracking reaction, (ii) regenerate the catalyst,
and (iii) inhibit coke formation.

The reactor products and separation train are very different
for the two processes. The separation of the light hydrocarbon
product stream proceeds in opposite order for the processes.
The SC process is designed for maximum ethylene production
and recovery, while the COC process is designed for production
and recovery of propylene and butylene.

Energy evaluation of both processes clearly indicates that,
compared to SC, the COC process is more energy efficient, with
53% less total duty use. However, utilities present only a minor
fraction of the operational costs, which are controlled predomi-
nantly by the costs of the feedstock. Therefore, loss of valuable
feedstock as a result of combustion of part of the naphtha feed
makes the COC process economically less attractive than SC.

Finally, an economic evaluation of the COC process showed
that, in a realistic scenario, this process is not yet economically
attractive. For the process to be profitable, the market prices of
propylene and butylene should rise about 25%. The design of
more selective processes (optimized catalyst and reactor design)
with selectivity to C2-C4 olefins above 65% should also be
considered to increase the potential industrial applicability of
the process.
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Symbols

fburned ) fraction of hydrocarbon burned [mol/mol]
∆Hcombustion ) enthalpy of combustion [J/mol]
∆Hvap ) enthalpy of vaporization [J/mol]
HHV ) higher heating value [J/mol]
Tboil ) boiling temperature [K]
Treaction ) reaction temperature [K]
Cp,liquid ) specific heat capacity of the liquid [J/mol ·K]
Cp,gas ) specific heat capacity of the gas [J/mol ·K]
� ) conversion [mol/mol]
∆Hr ) enthalpy of reaction [J/mol]
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