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ABSTRACT

The catalytic gasification in supercritical water of the water soluble fraction of bio-oil, either obtained
directly by phase-separated pyrolysis-oil from ligno-cellulosic biomass or by hydrotreatment of that oil,
is reported in this study. Several heterogeneous metal catalysts Pt, Pd, Ru, Rh, and Ni supported on alu-
mina were tested for their gasification efficiency (GE). The GE for the metals is decreasing in the order
Ru>Pt>Rh~ Pd > Ni. For optimum H; selectivity the order of the catalysts is Pd > Ru~Rh >Pt> Ni. Pd cat-
alysts with different supports have been screened and no significant changes in the GE were found for the
different supports. However, the composition of the product gas differed significantly with the support
type. High H; selectivity was obtained with Al,03 and Ce-ZrO, supports. With increasing the organic
concentration from 5 to 50 wt% the GE as well as the H, and CO; selectivities dropped significantly. High
reaction temperatures, long residence time, low feed stock concentrations and high catalyst loadings
favored the high carbon to gas conversion. The aqueous wastes streams obtained from the hydrodeoxy-
genation process for the pyrolysis oil are easier to reform in supercritical in comparison to the feedstocks
obtained directly as pyrolysis condenser fraction or as phase-separated aqueous fraction. Complete con-
version of the made-up and the fast pyrolysis condenser fraction was obtained at low feed concentrations
(5wt%) using a continuous flow reactor in the presence of Ru/Ce-ZrO, catalyst. However, the catalyst
quickly deactivated with the made-up fraction but the same catalyst retained its stability and activity
with the pyrolysis condenser fraction during the 3 h test run. The supercritical water gasification seems
therefore a very suitable step for treating the aqueous phase obtained after hydrotreatment of pyrolysis
oil in a (biomass) refinery concept.

© 2012 Elsevier B.V. All rights reserved.

1. Introduction

Waldner and Vogel [4] have reported the complete conversion
of wood sawdust by catalytic hydrothermal gasification at 400°C

Bio-fuels derived from renewable biomass sources are one of the
promising candidates for sustainable energy production, predom-
inantly those based on agricultural/forestry residues and on waste
streams. Using a thermo-chemical conversion method to convert
the biomass into bio-fuels, the option exists to produce either a
gaseous or liquid fuel. However, there are several techno-economic
challenges associated with these conversion processes to do this in
a cost effective way, particularly, when converting aqueous waste
biomass streams containing 80% water or more. Such low calorific
value waste effluents can be converted into a higher heating value
product gas either by aqueous phase reforming [1] (APR) or via
supercritical water gasification (SCWG; above 374°C and 221 bar)
[2-7].

Several researchers have studied the catalytic gasification of
real biomass such as wood [4], algae [3] in hot compressed water.
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and 340bar with Raney nickel catalyst using very long reaction
times (1-2h). They obtained a maximum methane selectivity
corresponding to the thermodynamic equilibrium predictions.
However, during the continuous operation of synthetic liquefied
wood (mainly consisted of formic acid, acetic acid, ethanol, phenol,
and anisole) gasification at 400 °C and 300 bar, Raney nickel was
reported to exhibit high initial activity but sintered rapidly, accom-
panied with loss of metal surface area. Addition of metals such as
Ru, Fe, Mo or Cu had no influence on the activity and stability (the
ability to maintain its activity for a long period of operation) of the
Raney nickel. However, when supported on carbon, Ru catalyst was
reported to be more stable and active for 220 h even at high feed
concentrations of the synthetic liquefied wood and space velocities
[6].

Virtually, the real biomass streams in its original state (consist-
ing of irregular size, minerals chemically bounded with inherent
contaminants to the biomass, mixed with sand, etc.) are not suitable
for processing in supercritical water and therefore needs a pre-
treatment step such that the homogenous slurries can be fed to the


dx.doi.org/10.1016/j.cattod.2012.07.042
http://www.sciencedirect.com/science/journal/09205861
http://www.elsevier.com/locate/cattod
mailto:a.g.chakinala@gmail.com
dx.doi.org/10.1016/j.cattod.2012.07.042

84 A.G. Chakinala et al. / Catalysis Today 195 (2012) 83-92

Pyrolysis | Bio-oil Upgrading (H,
- Dry jo-oi g g (Hy, 5
Biomass  [Fon®) (300 - 450 °C) | catalyst, ~300 - 400 °C) > Refinery
Condenser | squeoes!. )
fraction wastei P T H, @250
E i 300 bar
¥ ¥ Hydrothermal gasification [—CHi, CO, €2+
T (400 - 650°C, ~250 - 300 bar) 3 Clean water

Fig. 1. Conceptual bio-refinery process with integrated hydrothermal gasification
for hydrogen production from aqueous wastes produced.

reformer. One way of processing the raw, inhomogeneous feed is to
use biomass flash pyrolysis, in which dry biomass is converted by
rapidly heating (300-500 °C) in the absence of oxygen and by con-
densing the vapors produced, thereby obtaining a liquid product
called bio-oil or pyrolysis oil (~60-75% selectivity on weight basis,
depending on the operating parameters and condenser fractions)
[2,5]. Bio-0il can be steam reformed [8,9] to produce synthesis gas
(syn-gas) which can further be upgraded by Fisher-Tropsch syn-
thesis or the bio-oil itself can be upgraded directly by catalytic
hydrogenation/hydro deoxygenation to reduce the oxygen con-
tent, making the product viable for co-processing in an oil refinery
[10]. Fig. 1 illustrates a conceptual scheme integrated with hydro-
thermal gasification of aqueous wastes derived in a bio-refinery for
hydrogen production.

In this paper, bio-oil was phase-separated into an aqueous and
a non-aqueous fraction by addition of water. The aqueous fraction
of bio-oil thus obtained was catalytically reformed in supercritical
water using a batch autoclave reactor. Till date, very little work has
been reported on the hydrothermal gasification of a highly diluted
aqueous fraction of bio-oil. Penninger and Rep [2] reported the
supercritical water gasification of aqueous wood condensate (<4%
organics in water) in a tubular flow reactor and obtained H, rich
product gas at 650 °C and 280 bar with a carbon to gas conversion of
about 90%. Addition of low concentrations of soda (<0.1% Na,;CO3)
promoted the water-gas shift (WGS) reaction resulting in high H,
selectivities. However, increasing the organic concentration caused
tar formation and as a consequence led to reactor plugging. Di
Blasi et al. [11] have reported the supercritical water gasification
of wastewater collected (diluted with pure water to initial TOC
concentrations of 6.5-31g/L) at the downstream of an updraft
wood gasification plant at temperatures in the range of 450-548 °C
and they obtained TOC conversions in between 30 and 70% with
an activation energy of 76 + 22 kJ/mol and pre-exponential factor
897 +30s~!. They found difficulty in gasifying high feed concen-
trations of wastewater which led to clogging at the outlets of the
pump. Vispute and Huber [1] have reported the aqueous phase
reforming (APR) of the water soluble fraction of pyrolysis oil con-
taining 1 wt% organics at 265°C and 55 bar with Pt catalyst and
obtained a carbon to gas conversion of 35% and alkane selectivity
of 45% at a WHSV of 0.96 h~—!. Byrd et al. [7] have screened several
catalysts for the hydrogen production from switch grass bio-crude
(1.0-1.3wt% of carbon) in supercritical water (600°C; 250 bar)
and they observed very quick reactor plugging due to severe coke
formation with almost all the catalysts studied associated with
significant loss in surface area of the catalysts due to sintering.
To conclude, very few studies have addressed the practical prob-
lems that are encountered in supercritical water gasification of real
biomass slurries such as reactor plugging and incomplete conver-
sion of realistic feedstock. Idesh et al. [12] have screened several
nickel supported on carbon catalysts for the reforming of water sol-
uble fraction (initial TOC content of the organics was 10,000 ppm) of
biomass pyrolysis oil in a continuous reactor and found that the Pt
impregnated on Ni catalysts was active and stable for 24 h duration
test at 350°C and 200 bar.

The aim of this work is to develop an efficient catalyst to
completely convert the aqueous phase of bio-oil (~18% organics)

in SCW. The design criteria for the catalyst development are to
achieve (i) complete carbon to gas conversion, (ii) tune the prod-
uct gas selectivity towards hydrogen and (iii) minimize char/coke
formation that usually leads to reactor plugging in a continuous
flow reactor. Catalyst screening involving the influence of different
metals, supports and also reaction parameters (e.g., temperature,
feed concentration, residence time, feed nature) on the gasification
behavior were probed.

2. Experimental methods
2.1. Materials

v-Alumina (y-Al,03, BASF), activated carbon (AC, Norit ROX
0.8), silica (SiO,, Evonik), zirconia (ZrO,, Evonik), titania (TiOo,
Evonik)were used as catalyst supports. Cerium nitrate hexahydrate
was also used as catalyst deposited on zirconia support. Acetylace-
tonate salts comprising of Pt, Pd, Ru, Rh and Ni were used in the
preparation of respective metal catalysts.

2.2. Catalyst preparation and characterization

The catalyst supports were pulverized to particle size ranging
between 300 and 600 pwm. Organic phase wetimpregnation method
was used to deposit active metal on the surface of the support
using the respective metal acetylacetonate precursor dissolved in
toluene. The supports were immersed in toluene, containing the
proper amount of metal precursor dissolved, in a round bottomed
flask of a vacuum rotary evaporator. The flask was immersed in sil-
icon oil bath maintained at a temperature of 45°C. Toluene was
completely evaporated by slowly applying vacuum and leaving
behind the metal precursor deposited on the support. The respec-
tive catalysts were obtained by decomposing the metal precursor
deposited on supports by calcination in air at 300°C (ramp of
5°C/min) for 2 h and at 600 °C (ramp of 5°C/min) for 1 h and sub-
sequently the samples were reduced at 600 °C for 1 h and then and
then cooled to room temperature. Similar conditions were followed
for all the catalysts except for the preparation of Pd supported on
activated carbon, where the sample was calcined at 250 °C (ramp
of 5°C/min) for 2 h and then reduced at 550 °C (ramp of 5°C/min)
for 1h and then cooled to room temperature.

In the preparation of metal (Ru, Pd) supported ceria-zirconia
(here after denoted as Ce-ZrO,) catalysts, the required amounts of
cerium nitrate hexahydrate precursor were dissolved in water and
then dispersing zirconia particles in the solution, in a round bot-
tomed flask of a vacuum rotary evaporator. The flask was immersed
in silicon oil bath maintained at a temperature of 75°C. Water
was completely evaporated by slowly applying vacuum and leav-
ing behind the Ceria precursor deposited on the zirconia particles.
The support was then calcined in air at 600°C (ramp of 5°C/min)
for 6 h and then cooled to room temperature at ramp of 10 °C/min.
The Ce-ZrO, support was then deposited with respective metal
acetylacetonate precursor by following the procedure mentioned
above.

Table 1 presents the details of all the catalysts used in this
study. It is clear from the table that activated carbon possess
the highest surface area among all the supports and the order
of the support with respect to BET surface area is AC>‘y-
Al;03 >Si05 > Zr0O, ~ TiO, ~ Ce-Zr0,. Since it is difficult to prepare
all the catalysts having similar loadings and similar particle sizes,
the particle sizes and metal loadings shown in Table 1 are different.

X-ray fluorescence spectroscopy (XRF) (Phillips PW 1480 spec-
trometer) was used to determine the catalyst composition. The
active metal particle size was determined by CO chemisorp-
tion. The BET surface area and porosity of all the catalysts were
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Table 1
Characteristics of the fresh catalysts used in the experiments.

Catalyst type Metal loading (wt %) Active particle BET surface
size (nm) area (m?/g)

Pt/y-Al,03 3.32 3 N.D.

Ni/y-Al,03 2.92 221 N.D.

Rh/y-Al;03 232 N.D. N.D.

Pd/‘Y—A1203 2.51 5 199

Ru/vy-Al,03 241 111 N.D.

Pd/TiO, 1.27 36 44

Pd/ZrO, 1.93 11 45

Pd/SiO; 1.80 7 166

Pd/AC 1.88 174 1146

Pd/Ce-ZrO, Pd=1.57 N.D 45
Ce=7.77

Ru/Ce-ZrO; Ru=0.97 N.D. 45
Ce=10.7

N.D. - not determined.

determined using with nitrogen adsorption-desorption at —196 °C
in a Micromeritics TriStar instrument. The crystal structures of the
fresh and spent catalysts were analyzed by powder X-ray diffrac-
tion (XRD) performed on a Philips X'pert device with CuKa as the
radiation source. Step scans were taken in the range 26 from 15 to
75°. Due to the limitations of XRD sensitivity, a minimum of ~5 wt%
metal loading sample is needed for identification and quantification
of the crystallite size using the Scherrer equation. Thermogravimet-
ric analysis (TGA) of the spent catalysts was carried out in alumina
crucible using NETZSCH STA 449 F3 Jupiter instrument. The samples
were heated from room temperature to 850 °C at a heating rate of
10°C/min in a stream of flowing air (30 ml/min). The samples were
held at 850°C for 30 min to completely oxidize the carbonaceous
deposits. The initial mass of the samples was determined using an
external weighing balance. The mass rate loss is defined as

7dX7 (me —meyq) o
Twt = g = 7”(1/ 0

- mo(Tr — Triq
where t and t+1 are logged time, T (°C) is the temperature of the
sample cup and m, (mg) is the initial amount of sample, as weighed
with the external balance.

2.3. Feed stock analysis

Three different feedstocks: (i) made-up fraction, (ii) pyrolysis
condenser fraction [13,14] and (iii) hydro-deoxygenation fraction
(HDO) [15] were used in this study. The feedstocks characteristics
are given in Table 2. The made-up organic fraction-I and Il were
prepared by mixing pyrolysis oil produced by VTT (Finland) from
forest residue [9,10,15] and water in 1:2 and 1:1 ratios respectively
to induce phase separation and to obtain a desired organic concen-
tration. The pyrolysis oil and water mixture was phase separated
over night in a conical funnel and the water soluble fraction of
organics in the bio-oil was filtered with a Whatman filter paper
which is then used for the experiments.

The pyrolysis condenser fraction was obtained from the second
condenser which is operated at room temperature by pyrolyzing

Table 2
Feedstock characteristics.

Aqueous fraction ID Organics H,0% (wt%) Elemental composition (%)
(wt%)
C H (0]
Made-up-I 18.4 81.6 4739 5.62 46.99
Made-up-II 51.5 48.5 4738 3.52 49.10
Pyrolysis condenser 17.5 82.5 47.82 535 46.84
Hydro-deoxygenation 23.0 77.0 51.02 3.89 45.09

2 Analyzed with Karl Fisher titration.

pine wood at an oven temperature of 480 °C in our laboratory scale
pyrolysis plant (1 kg/h) which is described elsewhere [14,16,17].

The aqueous HDO fraction was obtained from the HDO exper-
iments with pyrolysis oil produced by VTT (Finland) from forest
residue in a batch autoclave reactor in the presence of Ru/C cata-
lyst and more details of this set-up are described elsewhere [10,15].
However, we could not trace back the exact experimental condi-
tions of the HDO fraction obtained, the type of compounds present
in the HDO fraction are still comparable with literature as well as
our own work.

Karl-Fischer titration was used to determine the water content
of the feedstocks used in this study. The elemental composition of
the wet feedstocks used in the experiments was analyzed using
a CHNO elemental analyzer (Fisions Instruments 1108 EA CHN-S).
The composition on a dry water free basis for different feedstocks
is shown in Table 2.

2.4. Experimental set-up and procedure

The catalytic hydrothermal gasification of the aqueous fraction
of bio-oil was conducted in a “home made” batch autoclave reac-
tor, having an internal volume of 45 ml, and is shown in Fig. 2. For
safety reasons, the reactor set-up was placed in a high pressure box
and is controlled automatically from outside the room during the
experiments. The reactor lid had two orifices, one for a thermocou-
ple and another one to connect it to a line with a pressure indicator
and a gate valve. The pressure and the temperature of the reactor
could be recorded and monitored with Pico Log software. With the
help of a pneumatic arm, the autoclave could be immersed into and
removed out of the fluidized sand bed after the reaction. This sand
bed was heated by an electric oven (with preheated fluidization
gas).

The experimental procedure was as follows: in a typical run,
~4.5 g of aqueous feed solution and 0.5 g of catalyst (depending
on the experimental condition) was loaded into the reactor then
closed tightly and connected to the pneumatic arm of the set-up.
The elemental composition of the aqueous fractions of bio-oil is
given in Table 2. The line with the pressure reader was connected
to the autoclave and flushed with nitrogen several times to remove
any oxygen present in the system. The reactor was then pressurized
with 20 bar of nitrogen which served the purpose for a leak test. The
line connecting to the autoclave was removed and the high pres-
sure safety box was closed and the remainder of the experiment
was monitored from outside. Using the pneumatic arm, the auto-
clave is positioned on the fluidized sand bed and then the reaction
was initiated by immersing the autoclave with the help of a pis-
ton into the preheated fluidized sand bed which had a temperature
of ~30°C higher than the desired reaction temperature. After the
desired reaction time, the reactor was lifted and quenched in a cold
water bath. The heating-up time of the reactor was around 5 min
to reach the reaction conditions.

Gas samples were taken in a syringe and analyzed using a
micro gas chromatography (Varian CP 4900; 10 mmol sieve 5A Ar,
10 mmol sieve 5A He, 10 m PPQ He, 8 m Sil-5CB He) used to detect
H,, O;, Ny, CHy, CO, CO,, CoHy, CoHg, C3Hg and C3Hg. With the gas
composition, the final pressure and temperature inside the reactor,
the amount of each gas produced was calculated. After the reactor
was cooled, it was depressurized and the autoclave was discon-
nected from the arm and opened. The remaining products (liquid
and solids in suspension) were collected in a glass bottle and the
reactor was rinsed with acetone to remove any water-insoluble
deposits. The aqueous phase was analyzed for dissolved organic
carbon with an elemental analyzer. Since the carbon content in
the liquid effluent after the reaction was very low these values are
therefore not given.
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Fig. 2. Schematic diagram of the experimental batch autoclave reactor set-up.

2.5. Chemical equilibrium

Chemical equilibrium calculations were obtained using an in-
house developed Matlab program that calculates according to the
Gibbs minimization method [18] and the fugacity coefficients were
calculated with the modified Soave-Redlich—-Kwong (SRK) equa-
tion of state [19]. The parameters for the modified SRK equation
of state were obtained from Bertucco and Soave [20,21]. Thermo-
dynamic properties were obtained from NIST-JANAF source. The
equilibrium program calculates the yield (mol gas/mol feed) of
permanent gases (H,, CO, CO, and CHy) and the yields of C,—C3
compounds are neglected in this program as their values are con-
sidered to be very small. The gas yields are used to calculate the
selectivities.

2.6. Continuous set-up

Details of the continuous set-up used for the catalytic reforming
of aqueous fraction of bio-oil are described in our article [22].

2.7. Terms and definitions

The gasification efficiency (GE) or carbon to gas conversion is
defined as the degree of conversion of carbon in the feed to “C”

containing gases.
> MNe

Gasification efficiency, GE (%) = i

x 100
N c,feed

The H, selectivity is defined as (H, moles produced/C atoms in
gas phase) (1/RR) x 100, the reforming ratio (RR) is 1.97, 1.75 and
1.38 for the made-up fraction, pyrolysis condenser fraction and the
HDO fraction respectively.

Selectivity of carbon containing compounds i, %=(C atoms in
species i)/(C atoms in gas phase) x 100, where species i=CO, CO,,
CH4 and C2+ (CyH4, CyHg, C3Hg, C3Hg). The alkane selectivity
reported is the sum of methane and higher alkanes.

The amount of catalyst loading is defined as grams of catalyst
per grams of dry organics (Zcatalyst/8dry organics )-

3. Results and discussion

Here we present the results of the influence of different noble
metals, supports and parametric evaluation such as temperature,
residence time, feed stock concentration and different kinds of
feeds on the carbon to gas conversion and product gas selectivities.
Finally, post-mortem analyses of the spent catalyst characterization
results are discussed.

3.1. Equilibrium composition

Thermodynamic chemical equilibrium values were calculated
using a Matlab program as described previously [3,22]. Fig. 3 dis-
plays the equilibrium composition of the SCWG of water soluble
fraction of bio-oil (18% organics) as a function of temperature.
Increasing the reaction temperature has a significant effect on the
product gas distribution. The H selectivity increases and CH, selec-
tivity decreases significantly, while the temperature effect on CO,
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Fig. 3. Thermodynamic equilibrium gas composition of the SCWG of aqueous
fraction of bio-oil (CH;.360071 18% organics) at 300 bar and different reaction tem-
peratures.

and CO selectivity is less pronounced and only a marginal rise in
the selectivity is noticed upon increasing the temperature above
600°C. At near critical temperatures methane and carbon dioxide
are the major products. At 500 °C, methane is still the main product
with a selectivity of 46.5% (mole CH4/mole C in feed) whereas the
H, selectivity is about 5.4%.

3.2. Effect of different noble metal catalysts

The carbon gasification efficiency and product gas selectivi-
ties (Hp, CHg, higher alkanes) of aqueous bio-oil gasification in
SCW at 500°C and 280 bar for 15 min of reaction time and in the
presence of various transition metal (Pt, Ru, Pd, Rh, Ni) catalysts
supported on y-Al,03, is shown in Fig. 4. The product composi-
tion and the gasification efficiencies were significantly different
with different metals. All the catalysts except Ni showed reasonable
carbon to gas conversions. The highest gasification efficiency was
achieved with Ru catalyst (%) and the order of the catalysts in terms
of conversion is Ru>Pt>Rh~ Pd > Ni. Palladium catalyst showed
higher selectivity towards H, and the order of the catalysts in
terms of H selectivity are Pd > Ru ~ Rh > Pt > Ni. Ru catalyst showed
significantly high selectivity towards methane. The plausible reac-
tions for the formation of alkanes can be due to the dehydration
reaction of the oxygenated compound, Fischer-Tropsch synthe-
sis or via methanation reaction. The order of the catalysts in
terms of CHy selectivity is Ru>Rh>Pt>Pd > Ni. These trends sug-
gest that an effective catalyst for the reforming of oxygenated
compounds would be based on metals that generally possess
high activities towards C—C bond breaking [23,24], which is
required to obtain gaseous “C” specie (in the form of CO, CO,,
CH4) from the oxygenated compound and high water-gas shift
activity.

The presence of active metals not only influences the carbon
to gas efficiencies but affects the product gas distribution. High
H, selectivity is favored upon the active metals which show low
methanation activity and low hydrogenation activity. The high
methanation activity of Ru found is in agreement with the literature
[23,24]. For Pd and Pt reasonable GE and hydrogen selectivity are
obtained. Davda et al. [23,24] also reported high H, selectivity over
Pd catalysts for the aqueous phase reforming of ethylene glycol.
Ni based catalysts are very attractive as they are readily available
and cost effective when compared to noble metal catalysts, despite
their methanation activity and least stability in the SCWG pro-
cess. The nickel catalyst was found to be least active among all the
catalysts studied which is due to very less metal loading, leading

to the formation of stable NiAl,04 during the calcination process.
Catalysts with higher Niloadings usually present in two phases, NiO
accompanied with stable NiAl,04. The NiO phase is easily reducible
with the in situ generated hydrogen during the reforming process.
While, the stable NiAl,04 phase do not contribute to any reform-
ing activity unlessitis reduced with hydrogen at high temperatures
(~800°C) [22]. Thus, the low activity of the Ni catalysts compared
to other catalysts is due to the presence of Ni in inactive and stable
NiAl, 04 phase, in this case.

To conclude Pd catalysts showed reasonable gasification effi-
ciencies with high H, and low alkane selectivity, while Ru
catalysts exhibited higher conversion with low H; and high
alkane selectivities. In view of these observations further cata-
lyst screening studies have been performed with Ru and Pd metal
catalysts.

3.3. Effect of different support materials

In view of the reforming activity of Pd supported on alumina cat-
alyst (high H, and low alkane selectivities) when compared to other
metal catalysts as discussed earlier, various Pd catalysts were pre-
pared to study the influence of the support materials on the activity
and the hydrogen production selectivity by reforming the water
soluble fraction of bio-oil in supercritical water. Fig. 5 illustrates the
effect of various supported Pd catalysts on the GE and product gas
selectivities of aqueous fraction of bio-oil (18% organics) reform-
ing at 500°C, 280 bar and 15 min of reaction. For the Pd/support
combinations studied, all catalysts showed similar GE. Both ZrO,
and Al, 03 supported Pd catalysts showed high selectivity towards
H,. y-Al,03 is widely used as a catalyst support for a variety of
process including the SCWG applications, owing to its high specific
surface area, high thermal stability and low cost. Water gas shift
activity is essential to increase the H, selectivity. It was reported
that supports with red-ox properties such as TiO,, ZrO, and CeO,
can effectively enhance the shift activity [25]. Basic supports are
shown to be more stable than y-Al,03 and have a higher selec-
tivity towards hydrogen than alkanes in biomass gasification [26].
Altering the red-ox properties of the support and surface oxygen
mobility is a way to enhance the catalyst performance. Ceria is as an
oxide support possessing high red-ox properties and the mobility
of surface oxygen/hydroxyl groups. Reduction of Ce** to Ce3* aids in
the formation of bridging hydroxyls, which are claimed to be active
for WGSreaction [25]. Mixed oxides of Ce-ZrO, promote the red-ox
properties of the support and are shown to have improved the cat-
alyst performance in the WGS reaction [25,27,28]. In this study,
among the Pd based catalysts, Ce-ZrO, support indeed showed
high selectivity towards H,, which makes it a promising support
for effective shift activity under these conditions. For the reform-
ing of switch grass bio-crude in SCW a lower GE was observed for
the titania supported catalysts whereas a high hydrogen selectivity
was reported with ZrO, supported catalysts [7]. Several researchers
have studied the influence of support on the catalytic activity in
hydrothermal gasification of biomass [29-31]. Minowa and Ogi [26]
have studied the hydrothermal gasification of cellulose in a batch
autoclave reactor using reduced nickel catalysts with different sup-
ports and they report a strong influence of supports on the catalytic
activity in terms of product gas selectivities which is attributed to
the acidity/basicity of the supports but also depended on the overall
catalyst size (BET surface area) and active metal particle size (nickel
crystallite size).

Apparently, Ce-ZrO, is a promising support due to the afore-
mentioned reasons in terms of enhanced WGS activity as well as
high stability to withstand under hydrothermal conditions. There-
fore, further optimization studies have been carried out either with
Pd or Ru metal catalysts.
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reforming in SCW at 500°C, 300 bar, 15 min reaction time and a catalyst loading of 0.6 (Ecatatyst/Edry organics )-

3.4. Effect of temperature reasonably high activity. The selectivity towards CO was very low

with both the catalysts.
It is well known that higher temperatures enhance the gasifica-
tion efficiency and according to equilibrium calculations hydrogen 3.5. Effect of reaction time
selectivity is favored. The effect of temperature ranging from 450

to 580°C on the activity and product gas selectivities of 18 wt% Generally, increasing the contact time or residence time of the
organics at 300 bar and 15 min of reaction time with Ru and Pd sup- reactant with the catalyst increases the conversion and steer the
ported on Ce-ZrO, is shown in Fig. 6. Both the catalysts (Ru and Pd) product gas selectivity towards equilibrium. The effect of residence
show considerable increase in the GE with increase in temperature. time on the activity of Ru supported on Ce-ZrO, and product gas
Ru showed better GE over Pd at all temperatures. CH, selectivity selectivities of 18% organics aqueous bio-oil feed at 580 °C is shown
with both the catalysts increases with the increase in temperature. in Fig. 7. It is evident from the figure that an increase in the reaction

Higher alkane (C,, C3) selectivity increases with temperature over time led to slight increase in the GE. No significant changes in the
Pd and Ru. Methanation activity of both the catalysts increases with product gas selectivities are observed except for marginal changes
temperature, however, Pd shows low methanation activity as com- in the hydrogen selectivity which decreases slightly after 15 min of

pared to Ru. At high temperature Pd showed high H; selectivity and reaction time.
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Fig. 5. The influence of different palladium supported catalysts (silica, titania, activated carbon (AC), zirconia, ceria-zirconia, y-alumina) on the carbon to gas conversion
and product gas selectivities of aqueous bio-oil (Made-up-I) reforming in SCW at 500 °C, 300 bar, 15 min reaction time and a catalyst loading of 0.6 (Ecatalyst/Edry organics )-
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Fig. 6. The influence of different temperatures on the carbon to gas conversion and
product gas selectivity of aqueous bio-oil (Made-up-I) reforming in SCW at 300 bar,
15 min reaction time, catalyst loading of 0.6 (Zcatalyst/Zdry organics)» Ru/Ce-Zr0O; (solid
trend lines), Pd/Ce-ZrO, (dotted trend lines).

3.6. Effect of catalyst loading

High catalyst loadings generally increase the rate of reaction
due to the availability of large number of active metal particles
that accelerates the carbon conversion. The influence of three dif-
ferent Ru/Ce-ZrO; catalyst loadings (gcat/Zorganics) 0N the activity
and Hj, CH4 selectivities at 580°C and 15 min reaction time is
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Fig. 7. The influence of reaction time on the carbon to gas conversion and product
gas selectivity of aqueous bio-oil (Made-up-I) reforming in SCW at 580 °C, 300 bar,
catalyst loading of 0.6 (gcatalyst/€dry organics ) Of Ru/Ce-Zr0;.
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Fig. 8. The influence of Ru/Ce-ZrO, catalyst loading on the carbon to gas conversion
and product gas selectivity of aqueous bio-oil (Made-up-I) reforming in SCW at
580°C, 280 bar and 15 min reaction time.

shown in Fig. 8. H, selectivity decreased with increasing catalyst
loading while no significant change in the alkane selectivity was
noticed. Maximum carbon to gas conversion was observed at the
highest catalyst loading, but a further increase in catalyst loading is
expected to have little effect (Fig. 8). Elemental analysis of the liquid
effluent after the reaction at higher conversions indicated almost
no carbon present and this incomplete carbon balance closure can
be attributed to the formation of coke either during the heating up
period or the reaction.

3.7. Effect of organic concentration

High feed stock concentrations are beneficial both from process
and economics point of view and it is shown that the net pro-
cess energy efficiency of the SCWG improves with high feed stock
concentration of biomass [32,33]. The influence of three different
concentrations of aqueous fraction of bio-oil (9, 18 and 50 wt%) on
the reforming activity of the selected Pd/Ce-ZrO, catalyst at 500°C
and 15 min reaction time is depicted in Fig. 9. In line with trends
reported earlier, the GE decreased significantly with increasing feed
concentration. Maximum conversion was achieved at the lowest
concentration (9 wt% feed concentration). The H, and CO,, selectivi-
ties decreased with increasing feed concentration, while a marginal
increase in alkane selectivity was noticed.
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Fig. 9. The influence of different feed concentrations of aqueous bio-oil on the car-
bon to gas conversion and product gas selectivities in supercritical water at 500 °C,
280 bar, 15 min reaction time and Pd/Ce-ZrO, catalyst (0.5g).
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Fig. 10. The influence of different aqueous bio-oil feedstocks on the gasifica-
tion behavior in supercritical water at 580°C, 280bar, 15 min reaction time and
Pd/Ce-ZrO, catalyst.

3.8. Nature of the feed

Generally, the characteristics of feedstocks have a significant
influence on the gasification behavior in supercritical water. The
influence of different feedstocks (refer to Table 2) was tested with
the Pd/Ce-ZrO, catalyst at 580 °C and 15 min reaction time and the
results are shown in Fig. 10. Notable differences in GE and product
gas selectivities are noticed for the different feedstocks. These dif-
ferences in the GE can be due to the organic compounds present
in the feedstocks. This is likely to be due to the presence of dis-
solved sugars (levoglucosan) and refractory components that are
present in the phase separated made up fraction and not in the fast
pyrolysis condensate and the HDO fraction [15,16]. These sugar-
compounds are very reactive leading to char formation which
eventually reduces the gas production and are hence liable for a
lower carbon to gas conversion.

Comparatively, less GE was obtained with the made-up bio-oil
fraction than with the other two feed stocks. Even though, the HDO
fraction has the highest feed concentration of organic material, it
has slightly the highest conversion, primarily due to the nature
of the organic compounds. During the HDO process, the sugars
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present in the pyrolysis oil are hydrogenated in the presence of
a catalyst to their respective sugar alcohols (polyols) [1], which are
easy to reform and has much lesser tendency towards coke forma-
tion. The H, and CO, selectivities were reduced while the alkane
selectivity increased with the fast pyrolysis fraction and the HDO
fraction when compared with the made up fraction.

Fig. 11 presents the gasification efficiency and the product gas
selectivities of catalytic reforming of the made-up fraction and
the fast pyrolysis condenser fraction in supercritical water using
a continuous flow reactor. It is noteworthy, that very low initial
feed concentrations were used in the continuous flow reactor to
avoid any reactor plugging due to char/coke formation at high feed
concentrations. It is evident from figure that complete conversion
was obtained with the pyrolysis condenser fraction during the 3 h
with stable product gas selectivities. Relatively, less conversion was
obtained with the made-up fraction and the selectivity towards C2
compounds is seen after 2 h as well as the liquid effluent turned
to light yellowish color indicating the catalyst deactivation. Sig-
nificant amount of coke was deposited on the catalyst with the
made-up fraction when compared to the pyrolysis condenser frac-
tion. We are currently working to investigate the long term stability
of the catalyst as well as to minimize the coke formation in the
continuous flow reactor.

One way of processing aqueous wastes containing sugars by
minimizing char/coke formation and achieving complete carbon to
gas conversion with high hydrogen selectivities is to first do a pre-
treatment step by catalytic hydrogenation at lower temperatures
(300°C), thereby converting all the sugars to respective polyols,
which are then in a subsequent step comparatively easy to reform
with much lesser operating problems than the original sugar com-
pounds. Part of the hydrogen generated at high pressures from the
reforming of polyols can be used for the catalytic hydrogenation
step [1].

3.9. Catalyst characterization results

Thermo-gravimetric analysis of the internal coke deposited on
the catalysts having different supports is shown in Fig. 12. Very less
or almost no internal coke deposition on the y-Al, 03 supported cat-
alystis noticed. The internal coke deposited on the activated carbon
supported catalyst could not be quantified as the support started

Fig. 11. Catalytic reforming of the aqueous fraction of bio-oil in supercritical water using a continuous flow reactor (experimental conditions: feed - Made-up-I and pyrolysis
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Fig. 12. Thermo-gravimetric analysis of the internal coke deposited on the spent
catalysts (support effect: batch autoclave tests) after the reaction at heating rate of
10°C/min in stream of flowing air (30 ml/min).

to completely oxidize in the temperature range of 400-700°C.
Maximum internal coke formation is observed with Ti supported
catalysts. It is evident from Fig. 12, that two different cokes are
formed on the support with respect to their characteristics. Low
temperature coke conversion in the range of 300-450 °Cis observed
for TiO,, Ce-ZrO, and ZrO, supported catalysts. Comparatively,
high temperature coke conversion ranging from 400 to 600°C is
seen with silica supported catalysts.

The crystalline structures of the fresh and spent catalysts are
verified by XRD analysis and are shown in Fig. 13. As can be seen

N

a) oy
Mo w M M
A AL, N WD\ WY Sy S
M PA/CeZrO,
7 = Monoctinic Ny "
M N N m n M
e~ J LA M YAl M M
=N M SN N A A
[ g PA/ZrO,
~ € =Carbon ‘| °
=5 A - | kd
N' f—" I | B
— ‘L_i\\.,m_ﬁ_igh__,-a_)\ﬂ_ T I
2 AmsommeTiO, , PA/AC
2 R= Rautile TiO \II R
o 1 I3
&t 1+—- EA 2 iy A e R R
= ~— M N MR A A
PA/TIO,
RN T-ALO Y=ALO,
| T A

— ————Pd/ALO,

T T T T T T T T T T T T T
45 50 55 60 65 70 75 80
angle 26(")

—— —~ S— T N

M = Monoclinic

M M

PA/ZrO,

A= anatase TiO,
R= Rutile TiO),

PAITIO,

Intensity (a.u.)
1

. Pd/ALO,

PA/AC

T T T T T T T T T T T T T T T T T T T T T T
0 45 50, 55 60 65 70 75 80
angle 20(")

Fig. 13. XRD analysis of the fresh (a) and spent catalysts (support effect: batch
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Fig. 14. Percentage reduction of catalyst surface area loss after 15 min of reaction
time (support effect: batch autoclave results).

from the figure, fresh y-Al, 03 has two peaks at 26 =45.8° and 66.8°.
However, XRD spectra of the spent alumina catalysts revealed no
phase changes as these experiments were carried out in a batch
autoclave reactor for a short period or reaction time. The trans-
formation of y-Al,03 increases with increasing temperature to
corundum followed by a sequence of y— 8 — 0 — «, the surface
area decreases with each step and the final transition to the alpha
phase is associated with the greatest decrease [34]. Elliott et al.
[29,30] have reported that after the exposure of y-Al,03 in sub
or supercritical water at 350°C and 200 bar, 8- and y-Al,03 were
completely hydrolyzed to give boehmite, while n-Al;03 formed a
mix of boehmite and a-Al,03 leading to loss of surface area. In
our earlier work, we have also presented similar observations of
phase change and instability of alumina support in a continuous
flow reactor for the reforming of ethylene glycol in supercriti-
cal water [22]. However, in this study we do not see such phase
change of y-Al,03 (Fig. 13b) and this can be due to the experi-
mental conditions used like type of reactor and reaction time. XRD
analysis verified that the fresh Ti support was found in a mix of
both rutile and anatase form and ZrO, support was found in mono-
clinic phase. Several unidentified peaks were noticed in the case of
carbon supported spent catalyst after the reaction and we believe
that this could be either due to phase change or the presence of
contaminants.

The loss in surface area due to phase change is shown in terms
of BET surface area reduction is illustrated in Fig. 14. The percent-
age reduction of the BET surface area is defined as the ratio of final
surface area after the reaction to the initial surface area. Signif-
icant loss in the surface area is observed for silica and activated
carbon supports. A slight increase in the surface area of the cat-
alyst is noticed with ZrO,, TiO, and Ce-ZrO, after the reaction.
This additional gain in the surface area after the reaction can be
associated due to the deposition of internal coke in the catalyst.
However, these changes in surface area reduction after the reac-
tion may differ in realistic conditions when tested in a continuous
flow reactor and also depends on the duration of the run. Based on
the above mentioned observations, the stable supports identified
for hydrothermal gasification of biomass include titania, zirconia
and modified zirconia (Ce-ZrO;), which are in agreement with
literature [31].

Leaching of metals under hydrothermal conditions is another
important issue that needs to be addressed by studying long dura-
tion tests in a continuous flow reactor. However, in this study based
on the elemental analysis of the liquid and catalysts samples we did
not notice any metal leaching and this can probably be due to very
short reaction times.
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4. Conclusions

Catalytic supercritical water gasification is an attractive process
to processing wet biomass streams but also appears to be appli-
cable for wastewater treatment produced from biomass pyrolysis
and upgrading processes in a wood-based (ligno-cellulosic) bio-
refinery system. The main scope of this process is to completely
convert the organics present in the water soluble fraction of bio-oil
to combustible gases in the presence of a catalyst. The present study
provides quantitative evaluation of the reforming activity of several
catalysts, support materials and different operating parameters on
the conversion and product gas selectivities of water soluble frac-
tion of bio-oil. Ru was found to be the most active catalyst in terms
of gasification efficiency as well as alkane selectivity.

The catalyst supports tested had a negligible effect on the con-
version, but a prominent effect on the product gas distribution.
Titania supported catalysts were found to have a high amount
of internal char deposition when compared to other supports.
Though carbon supported catalysts have high specific surface area
they are more prone to gasify in the supercritical water. Stable
support materials identified for the hydrothermal gasification of
biomass include ZrO,, Ce-ZrO, and TiO,. High temperatures, low
feedstock concentrations, high catalyst loadings and longer resi-
dence time favored high conversion. The aqueous wastewater from
the HDO process was more easily converted than the aqueous
fraction obtained from the condenser fraction and the made-up
waste stream. Complete GE with stable product gas selectivities
were obtained with the condenser fraction when compared to the
made-up fraction and this significant difference between the two
feedstocks is primarily due to the presence of sugars components in
the made-up fraction which lead to coke formation and incomplete
conversion due to catalyst deactivation.
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