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Abstract—An experimental study of the catalytic hydrogenation of 2,4-dinitrotoluene (DNT) in a mini-
installation with a continuously operated stirred three-phase slurry reactor and an evaporating solvent is
discussed. Some characteristic properties of the reactor system and the influence of the operating
parameters on the performance of the reactor are illustrated. The experimental results are compared with
the predictions based on a mathematical model of the reactor system. The results indicate that the
assumption of complete saturation with solvent vapors of the gas exit stream out of the reactor does not
hold for our small laboratory reactor. It is concluded that, for the mini-installation, the model describes well
the operation and further the behavior of the reactor system, and that the model should be fully adequate for
large industrial reactors. Further, it was -concluded that the kinetics cannot be based on the overall
hydrogen conversion determinations alone, and reevaluation of chemisorption constants by analysis of the
reactor product composition also is required as soon as a new batch of catalyst is taken into use.

INTRODUCTION

In our laboratories, we are engaged in developing
catalytic hydrogenation processes for the fine-
chemicals industry. In this industry, an old, estab-
lished method is to use an acid and a base metal, such
as iron, to generate reactive hydrogen atoms for
hydrogenation reactions. In view of the strict govern-
ment regulations concerning environmental pollution
and the high costs of disposal of large, waste streams
of metal hydroxides and neutralization salts, catalytic
processes are gaining more and more importance for
fine chemicals. Furthermore, in general, by the ap-
plication of catalytic reactions, higher selectivities
may be reached and a broader range of synthesis
steps, which would not have been possible by conven-
tional techniques, become available.

If complex reactions must be carried out, the
selectivity of the desired reaction is a major point of
concern and if the reaction also 1is strongly
exothermic, an accurate control of the residence time
and of the temperature in the reactor, which usually
influence the selectivity strongly, within strict limits is
necessary. In a continuously operated reactor the
temperature and consequently the course of chemical
reaction can be controlled better than in a batch
reactor. Heat removal with strongly exothermic reac-
tions requires extensive cooling areas installed in the
reactor. Many times, the capacity of the reactor is
limited by the cooling area. Further, in fine-chemicals
industry, generally, reactor installations must be suit-
able for multi-product application. As a consequence,
high flexibility and good temperature control are

tPresent address: DSM Research b.v., Process Technology
Dept., PT-CP, Geleen, The Netherlands.

required. In our reactor concept, we have chosen for
the evaporation of the solvent to absorb and remove
heat from the reactor, which combines flexibility with
accurate temperature control [see Steeman et al.
(1961)]. Also, by setting the pressure in the reactor
system, the temperature range for a strong cooling by
evaporation is set. The vapor is condensed outside the
reactor where it is much easier to install the adequate
cooling area. If more heat is produced in the reactor
more solvent will evaporate, whereas the reactor tem-
perature is hardly affected. In the ¢nd, the maximum
reactor temperature is limited to a little below the
boiling point of the solvent at the pressure the system
is set to.

In our laboratory, van Gelder et al. (1990a, b) have
studied catalytic hydrogenations of aromatic nitro-
compounds in a packed bubble column reactor with
an evaporating solvent; they presented mathematical
models for this reactor (van Gelder et al., 1990b).
Elsewhere (Janssen, 1989), we have described the de-
sign of a mini-installation with a continuous stirred
three-phase slurry reactor and illustrated the opera-
tion of the reactor by the hydrogenation of 2.4.6-
trinitrotoluene. Details are given of the design and
operation of the equipment used, its control and
instrumentation, sampling and analytical procedures,
testing and calibration, and experimental difficulties
met with. Major trouble was caused by crystallization
of solutes, and wear and tear in the solid catalyst feed
system.

The influences on the performance of the reactor of
the different operating parameters, such as the reactor
temperature, pressure and residence time, are so com-
plex that it is difficult to argue qualitatively the
behavior of the reactor system. Therefore, in order to

4179



4180

describe the behavior of the reactor, a mathematical
model has been derived (Janssen et al., 1992). In this
article, we report on an experimental study of the
catalytic hydrogenation of 2,4-dinitrotoluene in the
mini-installation with continuous stirred slurry re-
actor and an evaporating solvent, and compare the
experimental results with the predictions of the re-
actor model.

MODEL REACTION

The hydrogenation of 2,4-dinitrotoluene (DNT) to
2,4-diaminotoluene involves a series of simultaneous
and consecutive reactions with several reaction inter-
mediates. A reaction pathway with the relevant stable
intermediates is presented in Fig. 1. Note that an
ortho-nitro group is converted directly into an amine-
group, whereas a para-nitro group first is converted
into a stable hydroxylamine. In Fig. 1, only the 4-
hydroxylamino-2-nitrotoluene (4-HA-2-NT) is indi-
cated because the 4-hydroxylamino-2-aminotoluene
is formed at such low concentrations that it cannot be
detected within the accuracy limits of the gas chro-
matographic analysis used; therefore this compound
will be neglected. (

The chemistry and kinetics of the hydrogenation of
DNT have been discussed in detail by Janssen et al.
(1990a, b). In these studies, a 5% Pd/C catalyst of
Janssen Chimica, Belgium, has been used, whereas for
the present study a different catalyst, namely, 5%
Pd/C, type E10/R, of Degussa, Germany, has been
taken. As generally is the case, the reaction rates with
different types of catalysts are not equal. Therefore, in
order to recalibrate the parameters in the kinetic
model of the hydrogenation reactions over the E10/R
catalyst, a limited number of hydrogenation experi-
ments at 303, 328, and 353 K and in the pressure
range, 100—-800 kPa for hydrogen, have been carried
out in an automated laboratory batch hydrogenation
reactor, according to a standardized procedure
(Janssen et al.,, 1990a). The set of kinetic parameters
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thus obtained for the Janssen Chimica catalyst has
been presented in the previous article (Janssen et al.,
1990b). In the hydrogenation experiments with the
new catalyst, we determined the hydrogen takeup
rates, and on their basis we adjusted, accordingly, the
frequency factors of the kinetics constants in the
kinetic model of Janssen et al. (1990b).

THE MINI-INSTALLATION

An outline of the mini-installation is shown in
Fig. 2. For a detailed description of the installation,
we refer to Janssen (1989). Here, we present a concise
description of the equipment.

Hydrogen gas is drawn from a high pressure gas
network (HPH,), reduced, passed through a thermal
mass flow controller and is introduced into the re-
actor (1) through a sparger just below a Rushton
turbine impeller. The DNT solution is drawn from a
thermostated storage vessel (16) and is fed into the
reactor by means of a membrane pump (18). The feed
rate of the solution can be measured accurately with a
set of volumetric burettes (17). A concentrated catalyst
slurry is drawn from an agitated catalyst supply vessel
(14) and introduced into the reactor with a rotating
plunger pump (15). The catalyst feed rate can be
measured by means of a calibrated gauge glass. The
reaction mixture leaving the reactor flows freely
through a product cooler into a three-phase separ-
ator; the height of the overflow-edge (10) in the separ-
ator controls the liguid holdup in the reactor. Solvent
vapor and excess hydrogen gas pass through a heated
vapor line (3) and enter a condenser/cooler (4). The
condensate is separated from the remaining gas (5)
and returned to the reactor. The condensate produc-
tion rate can be determined by closing the valve in the
condensate line (6) and collecting the condensate for a
certain period of time in the gas-liquid separator,
after which it can be tapped and weighed. The efluent
gas from the separator passes through an electronic

Hs
NO,
NH
2
dami Hjy
-amino-
2-nitrotoluene NH,
NH2

2 4-diaminotoluene

Fig. 1. The reaction pathway for the catalytic hydrogenation of 2,4-dinitrotoluene to 2,4-diaminotoluene.
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Fig. 2. Schematic flow sheet of the mini-installation; further see text.

back-pressure control valve (19) to control the system
pressure and enters a molecular sieve column (20) in
which any volatile remaining is adsorbed. Next, the
effluent hydrogen gas passes through a calibrated wet-
gas meter (21) and is released into a ventilation system
(22). The temperature of the reactant feed is controlled
by electrical heating of the supply line. The vapor line,
the top-lid and reactor vessel are heated electrically
and covered with thermal insulation shells to reduce
heat loss to the surroundings.

EXPERIMENTAL PROCEDURE

Prior to each experiment, the gas-liquid—solid
separator was filled with methanol and the DNT feed
line and the vapor line were heated and set to their
desired temperatures. The reactor was filled with
measured volumes of DNT feed solution and catalyst
shurry. Prior to this the reactor had been heated to
prevent any undesired crystallization of the DNT in
the reactor and to reduce the startup time. Next, the
agitator and the hydrogen supply to the reactor were
started. After a certain period of time, depending on
the consumption of hydrogen measured, feed pumps
for the catalyst and the DNT solution were started,
and the valve in the product outlet opened. Relevant
process and operating parameters were determined at
regular time intervals and corrected when needed. To
minimize heat losses to the surroundings, temper-
atures of thermal insulation shells around reactor wall
and top-lid were kept approximately 2°C below the

temperature of the reaction mixture in the reactor.
Time to reach the steady-state conditions was in the
order of 1.0-1.5h. Vapor pressure of water was
always lower than 3% of that of the solvent. Total
heat balance over the reactor fitted within 5%; this is
satisfactory considering the complexity of the
installation and the uncertainties in experimental and
literature data.

The overall hydrogen conversion in the reactor was
calculated according to:

_ ¢H; in — ¢Hzoul
CHZHP - 6C0(¢v.feed + ¢u.cat)' (1)

Liquid samples were drawn from the reactor by a
sampling valve in the product outlet at the bottom of
the reactor. The samples have been analyzed with a
Varian 3400 gas chromatograph, equipped with a
flame ionization detector and a 5 ft-1/8” Tenax-GC
column, 60x 80 mesh. Previous experiments had
shown that the samples could not be kept because of
the undesired disproportionation reactions of some
of the reaction intermediates (Janssen et al., 1990a).
Therefore, each sample was analyzed only once, not
twice, and, throughout a hydrogenation experiment,
as soon as an analytical run of the gas chromatograph
was finished a fresh sample was drawn from the
reactor and analyzed. In this way, we were able to
determine the composition of the reactor product
every 10 to 15 min. With the analytical method used,
we obtained a direct quantitative analysis of DNT,
24-ANT and DAT. 4-HA-2-NT disproportionated
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instantaneously with injection of the sample, produc-
ing 42-ANT and also an unidentified compound with
a short retention time. The true concentration of 42-
ANT in a sample was obtained after correction of the
42-ANT peak for the contribution of disproportion-
ated 4-HA-2-NT; for more details of the calculation
method we refer to Janssen et al. (1990a). Overall
conversion based on product composition was calcu-
lated according to:

Cont = 0.33¢4 ya-znt + 0.50(C24-aANT + Ca2-aNT)

+ Cpar- )

An experimental run was terminated by stopping
the feed pumps, closing the product outlet simultan-
eously, and shutting down the hydrogen supply. Then,
reactor contents were tapped and weighed to deter-
mine the liquid holdup in the reactor. Catalyst con-
centration in the reactor is calculated from the com-
bined liquid feed rates and the catalyst concentration
in the catalyst supply vessel. To check for possible
accumulation of the catalyst in the reactor vessel, for
some experiments the entire reactor contents were
tapped and filtered, and the catalyst collected was
washed and weighed after drying. The amount of
catalyst found in this way agreed very well with the
amounts expected on the basis of feed streams.

K. R. WESTERTERP et al.

A typical experimental run is illustrated in Fig. 3.
The installation was automatically heated up during
the night, so that in day time several experiments
could be executed one after the other. After introduc-
tion of the feed streams it took about 1 h before a
stable reactor temperature, reactor pressure and flow
rate of the effluent gas were obtained. Operating
conditions were changed as given in Table 1 after 2 h
and after 3.5 h, respectively. The entire run lasted just
less than 5 h. In Fig. 3, the temperature of the liquid
phase in the reactor, Ty ;, of the reactant feed, T4, of
the gas phase in the reactor, Ty ,, and of the solvent
vapor line, Ty, are plotted vs time. During the experi-
ment 15 liquid samples have been taken for analysis.
The moments at which the samples were taken are
indicated in Fig. 3 by numbered arrows. We can
observe that the stable temperatures of the liquid
phase in the reactor are 84, 91 and 101°C, respectively,
for the three experiments. Temperature of the gas
phase equals the liquid temperature. Initially, the
temperature of the feed fluctuated during the first
35 min of the run; a stationary state was reached
about 15 min after the temperature of the feed had
stabilized. The slight differences in the compositions
of the liquid samples affirm that the reactor indeed
operated at stable conditions after about 50 min. The
product distribution in the liquid samples agreed well

1o
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Fig. 3. Liquid-phase temperature, Ty ;; reactant feed temperature, Ty..4; gas-phase temperature, Ty, ., aqd
temperature, 7,,,, of the solvent vapour line during the experiment; arrows indicate the moments of liquid
sampling. .



The catalytic hydrogenation of 2,4-dinitrotoluene

4183

Table 1. Experimental conditions

Basic data
Cieed 59 kgm—3 Tl‘eed 333K
Wear 3s kgm_3 ¢u, feed 2'03 X 10_6 m3s—1
Agitation rate 20s~! Ve 20%x1073 m?3
Experiment Dy, car Pr
number (m3s™ 1 oy, (kPa)
1 180 < 10~° 0.98 250
2 200 x 10~° 0.98 3¢0
3 175 % 10~° 1.15 400

with the experimental hydrogen conversion of 0.50. At
this conversion, reaction of 4-HA-2-NT to 42-ANT
dominates and very low concentrations of DNT and
DAT are expected. The analytical results also
illustrate increase of the conversion after start-up.

After 1 h of operation at a reactor temperature of
84°C, we changed the operating conditions. Reactor
pressure was increased from 250 to 300 kPa and
catalyst feed rate was increased by 12%. Compared to
the previous situation at a pressure of 250 kPa, mole
fraction of solvent vapor in the gas phase has become
lower. Increased catalyst feed rate will raise the rate of
reaction. The system copes with such a disturbance by
increasing the temperature in the reactor and conver-
sion. Temperature of the liquid and gas phases stabil-
ized at 91°C within 15 min after the change of experi-
mental conditions. Temperature response of the sys-
tem was accelerated by electrical heating of top lid
and solvent vapor line; temperature set points of these
sections were automatically adjusted to the temper-
ature of the liquid phase in the reactor. Increase of
hydrogen conversion from 0.50 (at the first steady
state) to 0.54 (at the second steady state) is also
reflected by the decrease in 4-HA-2-NT concentration
in favor of ANT concentration, while not all of 4-HA-
2-NT has been consumed.

After about one hour, the experimental conditions
were changed again. The reactor system reacted in the
same way as it did after the first change. The reactor
temperature stabilized within 15 min, at 101°C. The
hydrogen conversion of 0.71 is affirmed by the analyt-
ical results of the liquid samples, which shows that
now a significant amount of DAT is present in the
reaction mixture.

-EXPERIMENTAL RESULTS

Physical measurements of the rate of evaporation

It was shown by van Gelder et al. (1990a) that the
rate of evaporation of a solvent in a nonreacting
isothermal gas—liquid system at equilibrium can be
described by the relation ¢’ = P’/(1 — P’), where the
relative evaporation rate is given by ¢’ = ¢.,/Po, and
the relative vapor pressure by P’ = pg/pgr. In the
model of van Gelder ¢, is the stream of the solvent

carried away, out of the system by the inert gas feed
stream ¢, leaving the reactor, which is equivalent to
the stream ¢y, .., of nonconverted hydrogen gas in the
effluent gas.

In order to verify this model for the mini-installa-
tion, evaporation experiments have been carried out
under nonreacting conditions. To this end, the reactor
was filled with pure methanol and heated to a desired
temperature by means of electrical heating jacket, and
then the production rate of condensed methanol was
measured as a function of temperature, system
pressure and hydrogen feed rate. The temperature of
the vapor line was set at least 10°C higher than the
temperature in the reactor to prevent condensation of
methanol in the vapor line. The temperature of the
top-lid of the reactor was kept as close as possible
to the temperature in the reactor. In this way, 84

_experiments have been carried out in a temper-

ature range 50-80°C and at pressures between
300 and 500kPa. Some typical experimental
data are presented in Table 2. The true rate of
evaporation was calculated from the experimental
data by ¢,.p = Deona + Ps,en, Where @s ¢ is a cor-
rection for the amount of solvent carried away in
the effluent gas. If we assume that the phases are
at equilibrium in the gas—liquid separator, then ¢g
= @H,0mPs,_,/Pu,_, holds. A parity plot of ¢,,, vs
&, is shown in Fig. 4. The results indicate that the
simple model for evaporation rate of methanol from
the reactor describes the experimental data well,
although the values determined experimentally tend
to be slightly lower.

Hydrogenation of 2,4-dinitrotoluene

In a previous article by Janssen et al. (1990a) it has
been illustrated that the most important operating
parameters to control the behavior of the reactor
system are the reactor pressure pgr, DNT feed temper-
ature T4, a dimensionless residence time Da, given
by

— kROHCcn Vg,l
C0(¢v,feed + ¢v,clt)

and a dimensionless hydrogen feed parameter oy,

Da 3



4184 K. R. WESTERTERP et al.
Table 2. Typical experimental data and calculated results for evaporation measurements
Experimental Calculated
Pr Ty ¢m.uu_| @ cona Pev @3, etn Prap
(kPa) °C) (mol/min) (mol/min) (mol/min) (mol/min) (mol/min) Prap/Pev
305 51.0 0.136 0.025 0.031 0.007 0.032 1.03
410 52.0 0.106 0.014 0.018 0.004 0.018 1.00
520 50.0 0.085 0.008 0.010 0.002 0.012 1.06
310 61.0 0.067 0.025 0.026 0.003 0.028 1.11
410 60.5 0.133 0.032 0.034 0.005 0.037 1.08
520 60.5 0.092 0.016 0.018 0.003 0.019 1.03
305 670 0.091 0.041 0.051 0.004 0.045 0.89
411 64.5 0.113 0.032 0.036 0.004 0.036 1.01
519 67.0 0.136 0.023 0.036 0.004 0.027 0.75
305 70.5 0.067 0.045 0.047 0.003 0.048 1.02
410 70.0 0.093 0.038 0.040 0.003 0.041 1.03
510 70.0 0.111 0.031 0.035 0.003 0.034 0.96
302 81.5 0.067 0.093 0.113 0.003 0.096 0.86
406 81.0 0.136 0.106 0.115 0.005 0.111 0.97
510 80.0 0.066 0.035 0.036 0.002 0.037 1.03
0.01 Y
| Legend
— ® 50°C
? O 60°C R
vap ® 65 °C Pod
] 10 70°C -
mole s & 80°C EP
0.001
/ -
(]
0.0001 4= -
0.0001 0.001 ¢ 0.01
ev
-
-1
mole s
Fig. 4. Parity plot of the measured evaporation rate vs the rate calculated on the basis of solvent vapour
pressure and inert gas flow rate.
given by tion was kept at atmospheric pressure, temperature of

o - d,l-lz in
Hz 6C0(¢v, feed + ¢v,ca1)

which is the ratio of the amount of hydrogen actually
fed into the reactor over the amount required for a
complete conversion of DNT into DAT. In eq. (3), kg
is a kinetic rate constant and 0y is the fractional
surface coverage of the catalyst with hydrogen, both
at a given reference temperature and pressure [sce
Janssen et al. (1990a)].

Here, we present the experimental results of 16
hydrogenation experiments in the mini-installation,
for which the conditions and data are summarized in
Table 3. Because the storage tank for the DNT solu-

“

the feed solution was limited to 60°C. For all the
experiments, the feed temperature was set in the range
40-60°C. This allowed a DNT concentration in the
feed only of 40 to 60 kgm ™3 to avoid the risk of
clogging of the feed line and the membrane pump by
crystallization of DNT. To allow for reasonable rates
of solvent evaporation, the reactor was operated at
moderate pressures, around 300 kPa, which resulted
in a reactor temperature range, 60—80°C.

The influence of some operating parameters

The influence of reactant feed rate, @, tecas iS
illustrated by exps 9 and 10: if compared to exp. 9, for
exp. 10 a lower reactant feed rate results in a higher



Table 3. Basic operating conditions and experimental data for hydrogenation of DNT

CpAT  Ca-HA-2-NT Ca2-ANT

CONT  C24-ANT

¢cond
(molh™!)

cDNT

TR
aHz (QC) {Hz exp

Da

¢u,ul
(m’h~")

Weat
No. (kPa) (kgm™3) (x10°) (°C) (kgm™%) (x10%)

¢n,f¢td

(m3 h” 1) Tfe:d

CDNT

Pr

0.10
0.10
0.01

0.19
0.22
0.08

0.30
0.23

0.59

9.36
7.08

0.34
041
020

0.38
0.48

810

1.21
1.01
142 094 580

129
224

041
0.52
0.53
047
047

50

40.0

57

5.1
6.5

60.1

310
198
199
398
302
306

031
007

0.14
026

755

420

500

41

46.0

50.5

1.04
0.61
080 098 630

297
L1

49.0

23
39

6.1
4.

452

222

015

11

525

452
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002
0.00
0.18
0.17
0.09

000 035
000 056
002 o012
000 028
003 053

0.04
011
013
017
0.11

0.59
0.33
0.55
045
0.24

27

492
3.78
3.48

0.24

22
0.22
032

032

0.17
0.30
0.23
0.23
031

122 740
1.05 790
65.5

111
L10 735

1.08 805
119 625
122 765
093 590

1.22
122
0.79
1.04

049
049
049
048
045

20
20
20
30
30

525

51.5
51.5
515
53.0

49
75

6.3

400
306 400
306 400
400
400

299
323

o000 N O
~—

0.19
007
023
0.08
0.16
033

0.38
0.36
049
0.18
0.14
014

0.05
0.01

0.15
0.10
013

0.05

0.23
0.46
0.15
0.70
0.65
0.37

7.62

540

0.38
0.18

1.09
132
137
081

044
044
049

049
0.37

0.60

40
40

40

54.0
54.5

500 6.3
60.5

308

11

021
0.34

0.12

015

0.30

5.7
54

7.1

220 500
255

12

0.00
0.00
0.00

002

0.34

0.10
0.04

0.21

56.5

13
14

4.0
20
20

570

56.5

255
305
303

0.05
012

210
in

054. 070 625
085 070 795

54.0

58
58

500

15
16

56.0

500

residence time of the reaction mixture in the reactor
and consequently, the reactor operates at a higher
conversion and heat production rate HPR, and at a
higher steady-state temperature. The same behavior
can be observed by comparing exps 14 and 13. For the
low feed rates of exps 4 and 5, a steady state could not
be achieved and the reactor temperature remained
drifting throughout the experimental run. The influ-
ence of the catalyst feed rate, ¢,,.,,, is illustrated in
exps 15 and 16, where in exp. 16 a higher reactor
temperature and conversion are reached. These ex-
periments illustrate the effect of Damk&hler number
Da on the performance of the reactor system. The
hydrogen takeup increases with higher Da numbers.
There is a limit to this observation. If the reactor is
operated at a constant pressure, with an increasing
temperature the partial pressure of hydrogen will
decrease because of the increasing partial pressure of
the solvent in the reactor. At a certain temperature,
the rate decreasing effect of a lower hydrogen partial
pressure will become more important than the rate
increasing effect of temperature on reaction rates. As a
consequence, conversion in the reactor passes
through a maximum and it drops to O as the reactor
temperature approaches the boiling point of the sol-
vent. Beyond this maximum, a change of Da which
results in an increase of the reactor temperature
causes a decrease in conversion.

The influence of the hydrogen feed ratio oy, is
illustrated by exps 7 and 8: in exp. 8, at a lower value of
ogn,, less solvent vapor is carried away, out of the
reactor, and consequently the reactor operates at a
higher steady-state temperature. The influence of the
reactor pressure pg can be seen by comparing exps 11
and 12 and exps 16 and 14, respectively. For both
cases, we can observe that a decrease of reactor
pressure causes a decrease of reactor temperature and
conversion.

Heat effects

For 10 selected experiments the relevant heat
effects are summarized in Table 4. The heat pro-
duction rate, HPR, is calculated by HPR =
Do, tecaConi{ — AHR)y, oxp- Yalues of heat withdrawal
rates, HWR,,, on the left-hand side of Table 3 are
calculated on the basis of ¢y, ... With the assumption
that the stream of hydrogen which leaves the reactor
is fully saturated with methanol. Values of HWR,,, on
the right-hand side are based on the stream ¢ .4 Of
condensate actually collected during an experiment
and a calculated stream of solvent ¢ ) present in the
gas which leaves the gas—liquid separator. For both
methods of calculation, in Table 4 the contribution of
the heating up of the cold feed stream to the total
HWR is the same. For more details on definitions of
different heat effects, we refer to Janssen et al. (1990a).

If we compare HPR and HWR,,, listed in Table 4
based on ¢y,,.. Wwe observe that HPR is lower for
nearly every experiment. The deficit cannot be ex-
plained on the basis of accuracy of experimental
temperature and pressure data: the sensitivity of
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Table 4. Heat effects in reactor system

Based on ¢,

Based on ¢Hzonl

(W)

HWR,,, HWR, HPR-HWR
w) W

s, ettt
(W) W) (molh™!) (molh~)

HWR, HPR—HWR $ong

HWR,,
W)

HPR [
(W) (molh?)

cHz exp

No.

-19

253
189

95

044
034
0.31
0.25
043
0.30
035
0.64
0.30
023

9.36
7.08
276
492
378
348
17.62
540
210
n

294
2147

136

1398
1341

234
220

038
048
017
023
023
031
038
0.8
0.04

021

3

7
30
50
41

- 26

130

78
143
110
126

76
159
112
140

28
2

285
6.34
443
522
1102

75
81
124
141
25

—62

-8

14
14
px

12

4

37
1

51
107

10
11
12
15
16

193

94

59
23

10
)
- 51

103

68
2

6.96
277
6.65

92
21
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Fig. 5. The ratio @ gna/Pey as a function of the effluent
stream of hydrogen ¢y, ou-

HWR,_, towards a variation of 1°C in the temperature
or of 10kPa in the total reactor pressure is only
around 5 to 10 W. On the other hand, if we compare
HPR and HWR,, based on the condensate stream
®.onas We Observe that the average deviation is less
than 5%. This still leaves the problem that the
amount of condensate collected per unit of time is
smaller than the calculated evaporation rate. The
same trend was observed during physical measure-
ments of evaporation rate under nonreacting condi-
tions, see Fig. 4. In Fig. 5, the ratio ¢ ,.a/¢.., has been
plotted as a function of the effluent stream of hydro-
gen, ¢y, .m- If the discrepancy were caused by incom-
plete condensation in the cooler/condensor, we would
expect the ratio ¢.qona/Pey to be a function of ¢y, ou-
The results in Fig. 5 indicate that this is not the case.

We observe from Fig. 5 that under reaction condi-
tions the deviation between experimental and
predicted amounts cvaporated are large, whereas
under nonreacting conditions as in Fig. 4 they almost
coincide. It can hardly be expected that reaction
under exactly the same conditions of agitation, flow
rates, and temperature and pressure would lead to
completely different hydrodynamic conditions and so
to large differences in mass transfer rates for
evaporation. So, some other phenomenon must cause
the discrepancies illustrated in Fig. 5.

COMPARISON BETWEEN EXPERIMENTAL RESULTS AND
MODEL CALCULATIONS

The experimental results of the 16 experiments
discussed can be compared with predictions of a
model of the reactor system (Janssen et al., 1990a). In
Fig. 6, reactor temperature predicted has been
plotted vs temperature obtained experimentally. The
model predicts operating temperatures which are 5 to
10°C higher than that found experimentaily. Further,
the agreement is better at higher reactor temperatures.
In Fig. 7 predicted hydrogen conversions are com-
pared with the respective experimental values. Full
dots in Fig. 7 represent the conversions at steady-state
conditions as predicted by the reactor model; hence
both material balance and heat balance equations of
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Fig. 6. Experimental reactor temperatures vs temperatures
predicted on the basis of the model and the determined
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Fig. 7. The experimental hydrogen conversion vs conver-

sion as calculated on the basis of the model and the deter-

mined kinetics. (@) Predicted at the steady state; (O) pre-
dicted for the steady-state temperature measured.

the model are satisfied. In order to allow for the
influence of possible inaccuracies in the description of
heat balance terms on steady-state conditions
predicted, we also calculated product composition
and conversion at the experimentally observed
steady-state temperature; note that in this case only
the material balance equations of the model are
fulfilled and that the heat effects are not balanced. The
conversions predicted according to this method are
indicated in Fig. 7 by the open circles. We observe the
same general trend for the conversions as in Fig. 6 for
the reactor temperatures: the predicted conversions
are around 0.10 higher than the experimental values
and also the agreement is better at higher conversions.

In Fig. 8, we have plotted, as a function of the
hydrogen conversion, the relative concentrations of
DNT, 24-ANT and DAT in the product stream as
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Fig. 8. The relative concentrations of DNT, 24-ANT, and

DAT as functions of hydrogen conversion for the steady-

state temperature measured on the basis of the determined
kinetics.
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Fig. 9. The relative concentrations of DNT, 24-ANT, and
DAT found experimentally as functions of experimental
hydrogen conversion.

predicted by the reactor model for the experimentally
observed reactor temperatures; note again that the
results in Fig. 8 follow from the kinetic model for the
case in which the material balance equations are
satisfied. In Fig. 9, the same type of plot has been
drawn for the experimental data. By plotting experi-
mental data at different temperatures in Fig. 9, we
necessarily have a certain spread; nevertheless, we get
some interesting results in comparing Figs 8 and 9.
We can observe clearly that DNT is adsorbed on the
catalyst surface much more strongly than predicted by
the kinetic model: experimentally the concentration of
DAT in the product stream does not rise before nearly
all the DNT has reacted away. Further, we can ob-
serve that the experimental concentration of the inter-
mediate product 24-ANT is about twice as high as
that calculated on the basis of the kinetics. The dis-
crepancy between the experimental conversions and
conversions predicted by the model, specially in the
lower conversion range at lower temperatures now
can be explained: the kinetic data used in the model
are not adequate. We recall that we readjusted the
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kinetic constants of the catalyst of the new supplier on
the basis of fast, automated hydrogen takeup ex-
periments. On the basis of the chemical analyses of the
experimentally determined reactor product composi-
tions, we afterwards also readjusted the chemi-
sorption constants. Then, the lines presented in Fig. 9
are obtained and now experimental observation and
predictions coincide. We abstain from giving the cor-
rected values here (as they are not of universal value),
but conclude that, for each new batch of catalyst, the
full range of kinetic experiments must be repeated to
obtain new kinetic and chemisorption constants. In
another paper by Molga and Westerterp (1992) we
have elaborated on this problem.

DISCUSSION AND FINAL REMARKS

The evaporation rate of the solvent has been meas-
ured experimentally under nonreacting conditions as
well as during hydrogenation experiments. During the
hydrogenation experiments 30 to 50% of the heat of
reaction was absorbed by evaporation of the solvent.
If the amount of condensate collected per unit of time
is used as a measure for the evaporation rate of the
solvent, for most experiments the heat production rate
and the heat withdrawal rate are balanced within
approximately 10 to 20%. Although this accuracy for
a single experiment is poor, over the total of the
experiments the average deviation is less than 2.5%.

The experimental limitations of the mini-installa-
tion did not allow us to perform experiments at
reactor conditions which are favorable to obtain high
concentrations of the intermediate product 4-HA-2-
NT. The analysis of the reactor product stream was
not optimal with respect to the two most important
intermediate products 4-HA-2-NT and 42-ANT, and
has made a quantitative interpretation of the analyt-
ical data difficult. Nevertheless, the overall hydrogen
conversion (g, .,, and the conversion calculated from
the product composition {pnt agree fairly well, see
Fig. 10. For practical purposes (g, ., is preferred to
{pnt because the parameters to calculate {y, ., S€€
eq. (1), can be measured accurately.

The discrepancies between the experimental prod-
uct composition and the composition predicted by the
computer model are caused by inadequate kinetic
parameters. This flaw in the kinetic model used is the
main reason why the conversions and the stable
operating temperatures predicted by the computer
model are too high. Even though we carefully re-
calibrated the kinetic parameters for the E10/R cata-
lyst by measuring hydrogen conversion rates and
compared these with the kinetic data for a 5% Pd on
active carbon catalyst of Janssen Chimica, Belgium,
(see Janssen et al., 1990b), the results obtained demon-
strate that we also should have measured the product
composition in order to redetermine accurately the
chemisorption constants. For the hydrogenation of
2.4-dinitrotoluene at hand, a fresh determination of
the exact chemisorption would require at least four
months for an experienced laboratory worker. For an
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Fig. 10. Comparison of the overall conversion, based on
experimental composition of the product stream and
hydrogen conversion measured.

industrial situation in which a complex catalytic reac-
tion is carried out, this indicates that we should not
underestimate the importance as well as the experi-
mental effort required to determine the kinetic para-
meters of the reaction system each time the catalyst is
changed or a new lot of catalyst is purchased, espe-
cially when the reactor model is used for fine-tuning of
the selectivity.

Until now, we have focussed our discussion of the
experimental results and of the comparison between
the predictions by reactor model and the experiments
on the heat effects, the evaporation rate of the solvent
and on the parameters used in the kinetic model.
However, we should also bear in mind the influence
on the behavior of the reactor system of the varia-
tions and experimental uncertainties in the other
operating parameters, like the catalyst concentration
in the reactor and the volume of the reaction mixture
in the tank. Therefore, we conclude that in general the
reactor model describes the behavior of our reactor
system well. At the same time, for the relatively small
reactor vessel used, a mass transfer term can be
incorporated into the model to improve the descrip-
tion of the evaporation rate of the solvent, but we
should realize that the relevant mass transfer coeffi-
cients and the gas—liquid interfacial areas are not
exactly known. However, in a large industrial reactor
with high dispersion levels, the residence time of the
gas bubbles will be large enough to validate the
assumption that the gas phase is fully saturated with
solvent vapor. So, for an industrial situation the
model is fully adequate.
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NOTATION

liquid phase concentration, mol m ™3
initial concentration of the reactant in
the liquid phase, molm™3

catalyst concentration in the liquid
phase, kg, m~3

dimensionless concentration of species j
(= Cj/ Co)

Damkdhler number, defined by eq. (3)
reduced heat production rate, W
reduced heat withdrawal rate, W
reaction rate constant at a given refer-
ence temperature, molkg,ls™!
pressure, kPa

relative vapor pressure of the solvent, p’
(= ps/Pr)

temperature, K

reactor volume, m?

catalyst loading of the catalyst feed
stream, kgm ™3

Greek letters

oy,

AH,

CHz exp

{onT

O

&,
¢v.L
¢v. J

o
¢I

ratio of the amount of hydrogen fed to
the reactor over the stoichiometric
amount required for the complete con-
version of DNT to DAT, defined by
eq. (4)

heat of reaction, Jmol !

overall hydrogen conversion measured,
defined by eq. (1)

overall hydrogen conversion based on
the liquid phase composition, defined by
eq. (2)

fractional surface coverage of catalyst by
hydrogen at a given reference temper-
ature and hydrogen pressure

molar flow rate of species i, mols™?!
total volumetric liquid feed rate, m3s~!
volumetric feed rate, m3s™! (j = feed,
catalyst)

inert gas stream flow, mols™?

relative evaporation rate, (= ¢.,/Po)

Sub- and superscripts

cat
cf

catalyst
cold feed

cond condensate returned

efll in the effluent gas stream
ev evaporation

feed liquid feed stream of reactant solution
G-L in the gas—liquid separator
in at the inlet

out in the off gas

vap vapor

Abbreviations

H, H, hydrogen

S solvent

4-HA-2-NT 4-hydroxylamino-2-nitrotoluene

42-ANT 4-amino-2-nitrotoluene
24-ANT 2-amino-4-nitrotoluene
DAT 2,4-diaminotoluene
DNT 2,4-dinitrotoluene
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