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A B S T R A C T   

For many fluidized bed applications, the particle movement inside the reactor is accompanied by reactions at the 
particle scale. The current study presents for the first time in literature a multi-scale modelling approach coupling 
a one-dimensional volumetric particle model with the dense discrete phase model (DDPM) of ANSYS Fluent via 
user defined functions. To validate the developed modelling approach, the current study uses experimental data 
of pressure drop, temperature and gas composition obtained with a lab-scale bubbling fluidized bed biomass 
gasifier. Therefore, a particle model developed previously for pyrolysis was modified implementing a heat 
transfer model valid for fluidized bed conditions as well as kinetics for char gasification taken from literature. 
The kinetic theory of granular flow is used to describe particle–particle interactions allowing for feasible 
calculation times at the reactor level whereas an optimized solver is employed to guarantee a fast solution at the 
particle level. A newly developed initialization routine uses an initial bed of reacting particles at different states 
of conversion calculated previously with a standalone version of the particle model. This allows to start the 
simulation at conditions very close to stable operation of the reactor. A coupled multi-scale simulation of over 30 
s of process time employing 300.000 inert bed parcels and about 25.000 reacting fuel parcels showed good 
agreement with experimental data at a feasible calculation time. Furthermore, the developed approach allows for 
an in-depth analysis of the processes inside the reactor allowing to track individual reacting particles while 
resolving gradients inside the particle.   

1. Introduction 

According to the Intergovernmental Panel on Climate Change [1], 
drastic reductions in CO2 and other greenhouse gas emissions are 
required to limit the effects of human-induced global warming. Biomass 
can be considered a CO2-neutral source of energy when harvested sus
tainably and therefore plays a key role in substituting fossil fuels to 
achieve a reduction of greenhouse gases [2]. Whereas biomass com
bustion is already a mature technology and widely used, gasification of 
biomass is a promising thermochemical conversion route which needs 
further development to reach full commercial status. Biomass gasifica
tion allows to produce a valuable gas which can be deployed in several 
applications like gas turbines or solid oxide fuel cells to generate power 
or to produce biofuels and chemicals [3]. 

Different reactor concepts for biomass gasification were developed in 
the past, whereas facilities based on the fluidized bed technology 

showed to be very promising. Fluidized bed reactors show advantageous 
characteristics due to the high thermal inertia of the bed, proper heat 
and mass transfer rates as well as adequate mixing rates and further 
allow easier scale-up of the process when compared to other reactor 
concepts [4]. However, further development of the concept of fluidized 
bed biomass gasification is still necessary in order to achieve high char 
conversion rates and to minimize the amount of tar contaminants in the 
gas which can hinder its application due to tar condensation in down
stream facilities. As measurements are expensive and sometimes diffi
cult due to limited accessibility, numerical modelling methods are a 
common tool used for the development and optimization of fluidized 
bed reactors. To achieve an accurate description of the process, different 
scales need to be considered. On the one hand, the movement of parti
cles at the reactor level needs to be described sufficiently accurate in 
order to account for the dynamics of the bed. On the other hand, the 
conversion of the fuel at the particle level needs to be resolved. The aim 
of this study is to develop a CFD-based multi-scale approach combining a 
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model for the particle movement with a detailed model describing the 
conversion at the particle level while considering intra-particle gradi
ents. In the current study, the developed modelling approach will be 
validated using representative experimental data of biomass gasification 
in a bubbling fluidized bed. However, the developed modelling 
approach can be applied not only to fluidized bed gasification of 
biomass, but can be used with specific adaptations for various biomass 
conversion plants based on fluidized bed technology and is therefore a 
very versatile tool for the development of such reactors. 

1.1. Modelling strategies employed in literature 

A comprehensive review about modelling biomass gasification in a 
fluidized bed is given by Gómez-Barea and Leckner [5]. They evaluated 
different modelling approaches and state that the so-called fluidization 
model, which approximates the reactor fluid dynamics based on semi- 
empirical correlations, was the best developed model at the time their 
study was released. A more basic approach using a black box model 
consists of overall balances (e.g., heat and mass) over the reactor and 
often assumes chemical equilibrium. As such a model does not resolve 
fluid dynamics and dispenses detailed kinetics, its prediction capability 
is not as good as for the other approaches. Finally, they conclude that 
models based on computational fluid dynamics (CFD) are still very time 
consuming and rely on various sub-models while not leading to a huge 
improvement compared to a fluidization model as modeling of the 
source terms is not more precise. However, they stress that the main 
advantage of Lagrangian-based CFD models, which allow for an easy 
consideration of particle size distributions and makes it possible to track 
the changes in physico-chemical characteristics of the biomass particles 
during conversion along their path through the reactor, is not yet been 
deployed by researchers. CFD models have been used more and more in 
recent years by researchers for fluidized bed modelling as computing 
power increases constantly allowing for feasible calculation times. The 
different CFD approaches are evaluated in the following paragraph. 

At the reactor level, there are several CFD modelling strategies 
commonly employed for fluidized bed reactors which can generally be 
divided whether they are based on the Euler-Euler or the Euler-Lagrange 
approach [6]. The two-fluid model (TFM) considers both the gaseous as 
well as the particulate phase as two interpenetrating continua based on 
the Euler approach. Particle-particle interactions can be considered 
based on the framework of the kinetic theory of granular flow (KTGF) 
presented by Ding and Gidaspow [7]. Interaction of granular and 
continuous phase is considered via momentum exchange terms which 

are based on drag models. This approach is frequently used to model 
fluidized bed reactors [5]. The main disadvantage of this model is the 
high computational demand if a broad range of particle sizes needs to be 
considered as each particle size demands an additional phase. Further
more, this method does not allow to track the movement and conversion 
of individual particles which makes it impossible to exploit the main 
advantage of CFD modelling of fluidized bed reactors. The other com
mon approach to model fluidized bed reactors is based on the Euler- 
Lagrangian framework, which tracks individual particles by means of 
Newtons 2nd law of motion while the continuous phase is treated using 
the Eulerian description. For the Euler-Lagrangian approach, there are 
different ways in which particle–particle and particle–wall interaction 
are treated. The discrete element method (CFD-DEM) first introduced by 
Cundall and Strack [8] predicts collisions based on a soft-sphere 
approach, which leads to a realistic description of particle movement 
due to the detailed modelling of the collisions. However, extremely 
small time-steps are necessary which makes this approach very 
computationally demanding hindering its application for industrial- 
scale facilities [6]. Therefore, models based on the multiphase 
particle-in-cell (MP-PIC) approach [9,10] as the dense discrete phase 
model (DDPM) in ANSYS Fluent [11] were derived using a simplified 
way to approximate particle–particle interactions. Thereby, particle 
properties calculated based on the Lagrangian description are interpo
lated to the Eulerian grid used to describe the fluid flow which allows to 
employ the KTGF to consider collisions in an efficient way. Furthermore, 
this approach allows to cluster a group of particles in so called parcels to 
further reduce the computational demand. Although these hybrid ap
proaches have a shorter history compared to other CFD approaches, they 
have been investigated intensively recently [12]. The cold-flow model
ling study by Cloete et al. [13] investigating fluid-dynamics in a 
bubbling fluidized bed reactor showed that the DDPM is well suited for 
such applications. Furthermore, the study of Adnan et al. [14] presents 
an in depth investigation using the DDPM to describe the hydrodynamic 
behavior of a pilot-scale bubbling bed reactor. They investigated the 
effects of drag force, grid size, fluid time-step, time-averaging interval, 
particle–wall specularity coefficient, particle–particle restitution coef
ficient, particle–wall reflection coefficient and numbers of parcels [14]. 
They validated the model with experimental data and conclude that it is 
able to accurately reproduce the hydrodynamics of a bubbling fluidized 
bed. Furthermore, a study by Schneiderbauer et al. [15] showed the 
applicabillty of the DDPM in combination with an unreacted shrinking 
core model for the simulation of iron ore reducion in industrial-scale 
fluidized beds. 

A comparison of modelling results for biomass gasification in a flu
idized bed employing the MP-PIC model and the CFD-DEM is given by Li 
and Eri [16]. They conclude that the MP-PIC model (which is quite 
similar to the DDPM), despite showing some discrepancies on the par
ticle scale when compared to the CFD-DEM results, is well suited to 
model reactor-scale applications. A comparison of the TFM and DDPM 
by Adnan et al. [14] showed similar results for the fluid dynamics of a 
lab-scale fluidized bed, whereas better grid independency was found for 
the DDPM making it a suitable choice for large-scale applications where 
coarse grids are needed. Overall, the DDPM and similar models based on 
the MP-PIC approach are getting more popular as they show significant 
advantages compared to TFM and CFD-DEM especially when modelling 
industrial scale applications. 

A summary of literature dealing with modelling of fluidized bed 
biomass gasification (FBBG) employing CFD is given by Ostermeier et al. 
[17] (including papers published between 2014 and 2019). When 
analyzing these 19 publications, it can be seen that researchers 
employed 2D and 3D geometries in equal shares. The three main 
modelling approaches all showed a high relevance but the TFM (42%) 
was still the most favored one compared to MP-PIC/DDPM (32%) and 
CFD-DEM (26%). The analysis of more recent studies investigating CFD 
modelling of FBBG [17-21] (including papers published between 2019 
and 2022) shows a very strong trend towards the Euler-Lagrange 
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approach. None of these recent studies employ the TFM approach 
whereas the MP-PIC/DDPM and the CFD-DEM are applied equally often. 
All these studies use 3D geometries. However, the particle scale of all 
these studies is modelled using a simplified zero-dimensional model and 
commonly employ single-step global reaction mechanisms. Therefore, 
models presented in current literature can only describe particle con
version with severe simplifications. 

1.2. Importance of the particle-scale modelling 

When looking at the particle level, drying, devolatilization and 
gasification of a biomass particle leads to the release of gases which has 
to be considered as source terms when modeling the fluid dynamics at 
reactor scale. Furthermore, energy source terms, e.g. for the endo
thermic gasification reactions, need to be calculated and coupled with 
the model at the reactor level. Therefore, models for biomass drying and 
devolatilization as well as char gasification need to be considered. 
Dimensionless numbers illustrate which processes dominate the con
version and indicate if simplifications can be made when developing a 
model. A detailed investigation can be found in Gomez-Barea and 
Leckner [5]. The Biot number Bi, defined as the ratio of the thermal 
resistance inside a particle and at the surface of a particle, is an indicator 
if particle-internal temperature gradients are present. An analog 
consideration leads to the mass transfer Biot number Bim, which in
dicates the presence of species gradients inside a particle. If the Biot 
number is either very small or very high, one of the processes (external 
or internal, respectively) is dominating which allows to simplify the 
modelling procedure. However, for intermediate values, internal gra
dients are relevant and both external and internal processes must be 
considered. As shown by von Berg et al. [23], the Biot number for typical 
biomass particles inside a fluidized bed is in the intermediate range 
which indicates the requirement of a spatial resolution of the particle as 
well as a sophisticated heat transfer model. The study of Dupont et al. 
[24] also concludes that for particles>0.1 mm, external heat transfer 
and conduction inside the particle are on the same time scale and that 
pyrolysis (at gasification conditions) is controlled by both heat transfer 
and chemical kinetics. They state that gasification is controlled mainly 
by chemical kinetics assuming it occurs uniformly over the whole par
ticle independently of particle size. However, studies of Mermoud et al. 
[25] and Van de Steene et al. [26] show the relevance of particle size on 
the conversion time based on experimental data and single particle 
modelling. Bates et al. [27] conducted a time scale analysis of biomass 
particles in a fluidized bed environment and state that heat transfer 
limitations dominate pyrolysis and drying as these processes show 
rather fast kinetics. They found a Biot number close to 1 for 6 mm 
particles which means internal temperature gradients are present. 
Further, they state that for particles between 0.5 and 6 mm, which are 
typical for fluidized bed applications, mixing and heat transfer are 
happening simultaneously. 

Therefore, a detailed particle model is necessary for an adequate 
description of the conversion of the reacting particle. Sophisticated 
particle models are usually employed for single particle analysis. How
ever, such detailed approaches are commonly not employed combined 
with a reactor model as the huge number of particles makes it very time 
consuming. To the best knowledge of the authors, there is no study in 
literature which describes the particle conversion in FBBG using a one- 
dimensional model able to describe gradients inside the particle coupled 
with a CFD description of the reactor level. Such a coupled approach, 
however, would allow for a more realistic description of the physical 
processes compared to state-of-the-art literature. A review by Baruah 
and Baruah [28] states the importance of a model combining a detailed 
description of the chemical phenomena with an accurate description of 
multiphase flow. Furthermore, the recent review of biomass gasification 
modelling by Safarian et al. [29] emphasizes the importance of 
comprehensive models especially in the case of fluidized bed reactors, 
where detailed kinetics need to be combined with accurate fluid 

dynamic modelling. In the recently published review paper of Alobaid 
et al. [12] about CFD simulations of fluidized bed reactors, the impor
tance of studies combining a detailed description of the gas flow and the 
particle movement as well as the heterogeneous reactions while 
considering intra-particle gradients is furthermore emphasized for 
future work. However, detailed particle models resolving gradients in
side the particle are usually very computationally demanding. Especially 
the fact that the boundary conditions of the particles change constantly 
as they move through the bed makes it furthermore challenging. 
Therefore, Anca-Couce and Zobel [30] developed a single particle model 
based on an iterative fractional-step algorithm especially optimized to 
be coupled to a Lagrangian reactor model. Their approach showed to be 
significantly faster compared to other solving strategies when changing 
boundary conditions need to be considered. 

In the present study, a detailed particle model (PM) developed for 
biomass conversion by Anca-Couce and Zobel [30] was adapted and 
coupled with the dense discrete phase model (DDPM) implemented in 
the commercial CFD software ANSYS Fluent via user defined functions. 
The PM used is based on a solver optimized for fast solution under 
constantly changing boundary conditions. This allows for a compre
hensive description of the conversion process of biomass in a fluidized 
bed gasifier considering a detailed description at the reactor scale as well 
at the particle scale. The model is validated with experimental results 
obtained with a steam blown lab-scale bubbling fluidized bed biomass 
gasifier in the framework of this study. Furthermore, the newly devel
oped modelling approach can also be employed for many different flu
idized bed applications with rather small adaptions when a detailed 
description of the particle level is of importance like e.g. for fluidized 
bed combustion or chemical looping. 

2. Numerical modelling 

The modelling approach is based on a one-dimensional particle 
model which describes the conversion process of the fuel particle 
including heat-up, drying, devolatilization and char gasification while 
considering gradients in the particle. This particle model is coupled to 
the DDPM implemented in the commercial CFD software (ANSYS Fluent 
V2021 R2) used to describe the gaseous and solid phase at the reactor 
level. The following section gives an overview of the employed models. 

2.1. Reactor level 

A CFD model able to track individual particles is necessary to 
implement the coupled modelling approach to be able to describe the 
conversion of reacting particles along their trajectory through the 
reactor. The TFM does not track individual particles and can therefore 
not be directly employed. The discrete phase model (DPM) is a Euler- 
Lagrange model implemented in ANSYS Fluent and allows to track in
dividual particles. It is based on the assumption that the volume fraction 
of the particle phase is very small which is therefore not considered in 
the continuity and momentum equations of the continuous phase. 
However, when high particle loadings as in a fluidized bed reactor are 
present, this assumption is not valid. Therefore, the reactor level is 
modelled using the framework of the dense discrete phase model 
(DDPM) based on a hybrid Euler-Lagrange approach suitable at higher 
particulate loadings. In addition, the DDPM allows to introduce source 
terms due to the heterogeneous reactions calculated by the particle 
model into the mass and energy equations of the gas phase. This is 
particularly important as the additional gas flow affects the particle 
motion predicted by the DDPM. The basic theory of the DDPM and a 
description of the kinetic theory of granular flow (KTGF) used to model 
particle collisions as well as the employed sub-models can be found in 
the supplementary material. The drag model of Gidaspow [31] recom
mended for dense fluidized beds [11] was employed, a discussion of 
different drag models including the more recently employed filtered 
models is given in the supplementary material. A comprehensive pre- 
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study was conducted in the framework of this work to investigate the 

applicability of the DDPM for bubbling luidized bed reactors. The re-

sults are presented in the master thesis of Blehrmühlhuber [32] super-

vised  by  two  of  the  authors  of  the  current  study.  In  general,  good 

agreement  of  experimental  data  provided  by  the  NETL [33] and 

modelling results (pressure-drop, particle velocities, general patterns of 

particle movement) was found. This pre-study was the foundation for 

the luid-dynamic modelling for the current manuscript. A summary of 

the employed models and sub-models of the DDPM and the KTGF in the 

present study can be found in section 3.2. It has to be mentioned that 

radiation  was  not  considered  at  the  reactor  scale  for  the  sake  of 

simplicity whereas it is included for the reacting particles. This simpli-

ication is supported by the high optical thickness of the particle bed, 

which means that the inert bed particles are only in radiation exchange 

with their immediate surroundings which show very similar tempera-

ture due to the homogenous temperature distribution inside a luidized 

bed. However, a radiation model at the reactor level should be used in 

future studies. 

2.1.1. Limitations of the DDPM 

The DDPM is frequently used for luidized bed modelling, however, 

there are some limitations that can lead to dificulties in the application 

of  the  model.  Pre-tests  conducted  in  this  study  showed  that  the 

description of the particulate phase was not working at a gas velocity 

lower than the minimal luidization velocity when the KTGF is used to 

model particle collisions in the framework of the DDPM. In this case we 

would  expect  the  particles  to  form  a  ixed  bed.  However,  the  model 

showed  a  completely  unrealistic  particle  behaviour,  with  all  particles 

accumulating  and  overlapping  in  a  single  layer  at  the  very  bottom. 

Furthermore, the pressure drop cannot be described realistically in this 

case.  Similar  behaviour  is  also  described  by  Tricomi  et  al. [34].  This 

limitation might lead to problems when modelling full-scale dual lu-

idized  bed  facilities  where  regions  showing  low  luidization  can  be 

present e.g. in the loop seals connecting the two reactors. 

Furthermore, the ratio of the cell size to the parcel size needs to be 

considered carefully when using the DDPM [35]. Values obtained from 

the Lagrangian solution need to be averaged for each cell before they can 

be used in the Eulerian framework. Therefore, it is important that the 

cells  are  big  enough  for  a  suficient  number  of  particles.  Otherwise, 

averaging can lead to distorted values [32] and furthermore, numerical 

instabilities can arise e.g. in the case when the whole volume of a cell is 

occupied by a single parcel [17]. Usually coarse meshes are employed 

when  using  a  hybrid  Euler-Lagrange  approach  to  fulil  the  before 

mentioned limitation. However, a compromise has to be found to ach-

ieve a mesh that can resolve ine scale structures but is still large enough 

to ensure a cell size suficiently larger than the parcel size. When the cell 

size cannot be further increased but the particles are still too big to fulil 

this limitation, the DDPM provides the possibility to employ a reverse 

clustering (i.e. splitting) approach where one particle is represented by 

several smaller computational parcels. The number of parcels employed 

in the current study to represent the bed material and fuel particles is 

further discussed in section 3.3. The problem of parcel-to-cell ratio is 

further  discussed  by  Yang  et  al. [36].  They  suggest  a  method  to 

overcome  numerical  instabilities  when  parcels  cross  small  cells  by 

implementing a distribution kernel method (DKM) spreading solid vol-

ume and source terms of parcels to the domain in which the particles are 

clustered. 

2.1.2. Homogeneous reactions 

Homogeneous gas phase reactions consider water gas shift, methane 

steam reformation and tar cracking and are modelled using the inite 

rate/eddy  dissipation  model  of  Fluent [37].  The  employed  reaction 

mechanisms and kinetics are summarized in Table 1. 

The tar content in the gas produced during biomass gasiication is 

essential as it is one of the main obstacles regarding the application of 

the gas. High tar loadings lead to fouling and can damage down-stream 

facilities. However, a detailed description of tar kinetics is very complex 

which  is  why  most  FBBG  simulations  in  literature  employ  a  rather 

simple  tar  cracking  mechanism  despite  its  importance.  In  the  current 

study,  the  stoichiometry  of  the  tar  cracking  reaction  was  estimated 

based on a detailed pyrolysis reaction scheme in a similar way as in the 

study of Scharler et al. [41] employing a lumped tar species. A stand-

alone simulation of the particle model employing detailed pyrolysis ki-

netics  was  used  to  determine  the  gas  composition  considering  16  tar 

species  similar  as  shown  in  the  study  of  Anca-Couce  et  al. [42].  The 

products of the lumped tar cracking reaction were calculated based on a 

modiied version of the detailed thermal tar cracking reactions proposed 

by Mellin et al. [43] considering H2, CO, CO2, CH4 and C6H6 in the gas 

composition. In comparison to Mellin et al. [43], solid carbon and C2H4 
(which is included in the CH4 yield) were not considered in the current 

study,  whereas  C6H6 was  considered  in  this  work  and  not  by  Mellin 

et al.. All the tar components of the detailed scheme were lumped into 

one tar species considering C, H and O in the elemental composition. A 

reaction mechanism based on a simple one-step reaction as  shown in 

reaction (R4) was employed to consider tar cracking as a homogeneous 

gas phase reaction. Although simpliied, the current approach is based 

on a detailed mechanism with multiple species and therefore allows to 

increase  the  complexity  of  tar  modelling  with  manageable  effort  for 

future applications e.g. by implementing additional tar species released 

from the particle model and additional tar cracking reactions in the gas 

phase respectively. 

2.2. Particle level 

The particle level is based on the one-dimensional model developed 

for biomass pyrolysis by Anca-Couce and Zobel [30]. They compared 

different  solution  methods  for  solving  a  single  particle  model  and 

investigated their potential for coupling with a Euler-Lagrange reactor 

model. The main dificulties in this case are the boundary conditions, 

which change constantly as the particle is moving through the reactor. 

This is especially time consuming in the case of ODE solvers commonly 

used  for  single  particle  modelling.  As  such  models  show  a  high 

computationally demand for initialization, they are not well suited for 

the coupling into a reactor model as initialization is necessary at each 

time-step. The time-step of reactor models for luidized beds is in the 

range of milliseconds which, together with the huge number of particles, 

Table 1 

Homogeneous gas phase reactions (values in square brackets have units of kmol/m3).   

Reaction Reaction rate r in kmol / (m3⋅s) 

Forward water gas shift [38] CO+H2O→CO2+H2 
rFW WGS =2.78•10

3•exp
(1.26•107

RT

)

[CO][H2O]
(R1) 

Backward water gas shift [38] CO2+H2→CO+H2O 
rBW WGS =9.59•10

4•exp
(4.66•107

RT

)

[CO2][H2]
(R2) 

Steam reformation [39] CH4+H2O→CO+3H2 
rSR=5.92•10

8•exp
(2.09•108

RT

)

[CH4]
0.5[H20]

(R3) 

Tar cracking [40] Tar→0.707H2+1.054CO+0.219CO2+0.489CH4+0.103C6H6 
rTC=3.7•10

7•exp
(1.19•108

RT

)

[Tar]
(R4)  
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is the main driver of high computation times. Therefore, they developed 

a model based on an iterative fractional step algorithm which showed to 

be the fastest approach and will be used further on in this study. This 

approach  allows  to  solve  different  phenomena  either  in  an  explicit, 

implicit or semi-implicit way according to their characteristic times and 

to  use  advantageous  solving  strategies  for  each  phenomenon  when 

applicable. A detailed description of the solving procedure can be found 

in [30]. In the current work, the particle model was adapted to be able to 

describe  gasiication  of  spherical  or  cylindrical  softwood  pellets  in  a 

luidized bed reactor. 

The  particle  is  discretized  using  several  control  volumes  (CV). 

Transport of mass inside the particle is considered via convection and 

diffusion whereas heat transfer is considered via conduction and con-

vection. Diffusion is modeled via Fick’s law whereas the diffusion co-

eficients of the different species are calculated based on the Chapman- 

Enskog equation (assumption of diffusion of each species in nitrogen). 

Shrinkage of the particle is considered during pyrolysis and gasiication 

for each individual CV according to the local conversion. A standalone 

version of the model was programmed in C, which later on allowed for 

easy implementation as a user-deined function in Fluent for the coupled 

model. The adapted version of the model considers drying, pyrolysis and 

gasiication with H2O and CO2 of the biomass particle summarized in 

Table 2. 

Drying  is  modelled  following  reaction  (R5)  with  a  irst-order 

Arrhenius equation [44]. Pyrolysis is described via a single-step global 

reaction scheme shown in (R6) whereas the reaction rate was calculated 

using kinetics given in literature [44]. The stoichiometric factors of the 

pyrolysis  products  were  approximated  based  on  the  results  of  the 

detailed  single  particle  model  developed  by  Anca-Couce  et  al. [42] 

employing a comprehensive pyrolysis mechanism based on the mecha-

nism of Ranzi et al. [45]. A single particle simulation using the detailed 

model  was  conducted  once  employing  boundary  conditions  represen-

tative for the investigated case and the results were used to calculate the 

composition  of  permanent  gases,  a  lumped  species  representing  tar 

components  as  well  as  the  amount  of  char  residue.  This  allows  for  a 

detailed  description  of  pyrolysis  while  using  a  time-saving  reaction 

mechanism.  As  the  currently  employed  simpliied  pyrolysis  model  is 

based on a detailed model, a further increase in complexity can be easily 

implemented if required, e.g. by considering additional tar species. The 

composition of char is derived from the detailed model considering not 

only pure carbon but also hydrogen (αC) and oxygen (βC) in the char. 
Gasiication of the residual char is regarded by H2O (R7) and CO2 (R8) 

whereas  the  composition  of  char  is  respected.  The  kinetics  of  CO2 
gasiication by Van de Steene et al. [26] were employed. Two different 

kinetics for H2O gasiication by Mermoud et al. [25] and Van de Steene 

et al. [26] were investigated. As shown later on (see section 4.1.1), the 

kinetics  of  Van  de  Steene  et  al.  seemed  to  be  better  suited  and  were 

therefore employed in the following simulations. 

Boundary conditions of the particle model need to be chosen care-

fully and adaptations to the original particle model were necessary to 

respect conditions in a luidized bed. In a previous study by von Berg 

et  al. [23],  different  correlations  modelling  the  heat  transfer  to  a 

biomass particle submerged in a luidized bed were implemented to a 

single  particle  model.  The  objective  of  that  study  was  to  gain  a 

comprehensive understanding of heat transfer phenomena in the case of 

fuel particles in a luidized bed and to provide the foundation for the 

heat  transfer  modelling  used  in  our  present  work.  Validation  showed 

reasonable agreement of modelling results for all heat transfer models 

when compared to experimental data of biomass pyrolysis conducted in 

a luidized bed at high gas velocities when using softwood pellets as fuel. 

However, models like the one of Agarwal [46], which include the effect 

of luidization velocity, are more versatile and valid for a broader range 

of operation conditions. It was found that especially in cases of very low 

luidization  velocities,  deviations  with  experimental  data  are  present. 

Therefore, the model of Agarwal [46] was chosen. The model of Agarwal 

considers a particle convective component, a gas convective component 

while  the  particle  is  in  the  emulsion  phase  and  a  gas  convective 

component while being in the bubble phase. Radiation is not considered. 

These  contributions  are  weighted  using  probabilities  to  calculate  the 

heat transfer coeficient to a single particle. Due to the complexity of the 

model,  it  is  not  further  described  here  and  the  reader  is  referred  to 

reference [46] for more information. To respect mass transfer to a par-

ticle  in  a  luidized  bed,  the  Sherwood  number  used  to  determine  the 

mass transfer coeficient was calculated as Sh=2ε+0.69(Rep/ε)
1/2Sc1/3 

as given in [47]. Temperature, gas composition and gas velocity have to 

be set  to  a  constant  value  for standalone  calculations.  In the  coupled 

model, these boundary values will be taken from the cell in which each 

particle resides. The heat transfer coeficient calculated via the model of 

Agarwal  based  on  the  conditions  in  the  CFD-cell  as  well  as  the  gas 

temperature of the CFD-cell are used in an energy balance at the surface 

of  the  reacting  particle  to  calculate  the  surface  temperature.  In  this 

balance, radiation from the surrounding inert bed to the fuel particle is 

considered assuming that the particle bed has a high optical thickness. 

Further on, this surface temperature is then used in the energy balance at 

the outermost control volume. In a similar way, the mass transfer co-

eficient  calculated  based  on  the  Sherwood  number  and  the  gas 

composition of the CFD-cell are employed in the mass balance of the 

outermost control volume of the particle. The most important parame-

ters for the particle model as well as values which determine the initial 

condition of a biomass particle are presented in Table 3. 

Table 2 

Heterogeneous reactions (values in square brackets have units of kg/m3).   

Reaction Reaction rate r in kg / (m3⋅s) 

Drying [44] H2O(l)→H2O(g) rdrying=5.56•10
6•e87.9e3/(R•TCV)[H2O]CV (R5) 

Pyrolysis [44] Biomass(s)→Char(s) +CO+H2O+CO2+H2+CH4+Tar rpyrolysis=2.0•10
8•e133.1•10

3/(R•TCV)[Biomass]CV (R6) 

CO2 gasiication [26] Char(s) +CO2→2CO+
ʀαC
2

βC

)
H2+βCH2O+Ash(s)

See reference (R7) 

H2O gasiication [26] Char(s) + (1 βC)H2O → CO+ (1+αC/2 βC)H2+Ash(s) See reference (R8)  

Table 3 

Important model parameters of the particle model and initial conditions.  

Model parameters: 

Thermal conductivity biomass  0.177 W/(m •K) 

Thermal conductivity char  0.1 W/(m •K) 

Solid density 1500 kg/m3 

Minimum shrinkage factor  0.46 – 

Heat capacity biomass 1500 +T J/(kg •K) 

Heat capacity char 420 +2.09•T – 6.85 •104 •T2 J/(kg •K) 

Heat capacity water 4200 J/(kg •K) 

Permeability biomass 1 •10-14 m2 

Permeability char 1 •10-12 m2 

Pore diameter 1 •10-4 m 

Emissivity 0.9 – 

Dynamic viscosity gas 1 •10-5 kg/(m •s) 

Thermal conductivity gas  0.0258 W/(m •K) 

Initial conditions (fresh biomass): 

Initial porosity 19.13 % 

Particle radius 0.003 m 

Particle length 0.018 m 

Moisture 8 % 

Initial biomass density (wet)  1319 kg/m3 

Initial temperature 300 K  
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The number of grid points resolving the particle can be chosen 
individually. For the current study, a number of 10 control volumes (CV) 
along the particle radius showed virtually grid-independent resolution 
of intra-particle gradients while keeping the calculation demand low. A 
further refinement did not improve the results significantly, but could be 
necessary when modelling larger particles. 

During the conversion of a fuel particle in the reactor it is exposed to 
thermal and mechanical stresses which can cause the particle to break 
into several small pieces. This process is called primary fragmentation. 
During the subsequent conversion of the char, the particle fragments 
suffer from further decay due to increasing pores and a decreasing sta
bility of the char structure, called secondary fragmentation. Further
more, attrition of the fuel leads to the formation of fine particles due to 
the abrasive effects caused by the intensive contact of fuel particles with 
the bed material. General modelling approaches for this phenomenon 
can be found in [5]. A transient particle model for the conversion of 
biomass char in a fluidized bed gasifier considering fragmentation and 
attrition was presented by Bates et al. [48]. As this process is very 
complex and furthermore depends on the properties of the employed 
biomass type, fragmentation is usually not modelled in CFD studies and 
is also not considered in this study. 

2.3. Coupling of reactor and particle level 

The particle model was adapted to be able to describe gasification of 
biomass particles in a fluidized bed environment (see chapter 2.2). This 
model needs to be coupled to a CFD code (see chapter 2.1) which allows 
to describe the fluid dynamics of the bed and the gas phase reactions. 

The PM provides results at the particle level and is implemented into 
ANSYS Fluent using so called user-defined functions (UDF) in 
C–programming language. The reactor level is described using the 
DDPM implemented in Fluent. A basic scheme of the coupling approach 
including the employed sub-models is depicted in Fig. 1. At the particle 
level, the temperature, gas composition and gas velocity are taken from 
the current cell at the reactor level and are used as boundary condition 
for the particle model. The particle model is solved for each biomass 
particle at every time-step of the CFD model. Source terms for gas spe
cies and energy are calculated and forwarded to Fluent where they are 
considered in the conservation equations of the gaseous phase. The re
sults of the PM necessary for the calculation of the PM at the next time- 
step are stored in so-called particle user-variables for every particle. 
Furthermore, the solution for temperature, density, mass and diameter 
calculated by the PM are written to each corresponding particle in the 
reactor model. When employing a cylindrical shape in the particle 

model, the diameter of the mass equivalent sphere is used for the reactor 
model as only spheres are supported in the DDPM. 

The concept presented above can also be applied when particles are 
clustered in parcels. This is commonly done when a huge number of 
particles is present in order to reduce computational cost. In this case, 
the PM gets solved for each parcel, however, the real diameter, mass, 
etc. of the actual particle is used for the solution of the PM. The source 
terms must then be corrected with the number of particles per parcel. 

3. Experimental rig and simulation setup 

The model developed in this study is validated using experimental 
data of a steam blown lab-scale fluidized bed biomass gasifier. The 
following section describes the experimental rig prior to a detailed 
description of the simulation setup and the boundary conditions. 

3.1. Experimental setup 

A scheme of the experimental rig is shown in Fig. 2 on the left. 
Preheated steam at 673 K is led to the reactor from the bottom. About 
900 g of olivine with a mean diameter of 260 µm and a particle density of 
2965 kg/m3 was used as bed material. The experiments were conducted 
using softwood pellets as fuel with a cylindrical shape, a diameter of 6 
mm and an average length of 18 mm. Several thermocouples along the 
height of the reactor as well as a differential pressure sensor to measure 
the pressure drop over the bed are installed to monitor the process. The 
average operating temperature is kept at a constant level of 1073 K via 
an electric heating whereas the mean value of T1, T2 and T3 is used to 
regulate the electric heating. The fuel is fed to the fluidized bed from the 
top using a screw feeder. A nitrogen flow of 0.13 kg/h is led through the 
pellets tank to achieve an inert atmosphere and to prevent that moist 
syngas can reach the fuel tank. The bed is fluidized using a mixture of 
0.42 kg/h of steam and 0.02 kg/h nitrogen via a nozzle in the center of 
the reactor. The steam flow is distributed radially across the reactor 
cross-section via a nozzle with 6 orifices. The pressure drop of the 
distributor with the employed settings is comparably small showing 
about 40 Pa, however, as the nozzle is located in the center of the 
reactor, we can assume a constant steam-feed in this position. This setup 
does not allow for a perfectly evenly distributed gas flow over the cross- 
section of the reactor and small dead-spots in the bottom-corner can be 
expected. The syngas leaves the gasifier at the top and is cleaned in a 
candle filter to remove particulate matter. A pressure regulator keeps the 
pressure in the system at 0.5 bar. After the gas leaves the facility, a part 
of it is further cleaned to remove tars and the permanent gases CO, CO2, 

Fig. 1. Multi-scale methodology coupling the particle level and the reactor level via user-defined functions (UDF).  
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CH4, H2 and O2 are measured using an ABB AO2020 gas analysis. N2 is 
calculated as the difference to 100%, as other gases are known to be only 
present in minor concentrations. Afterwards, the gas is burned in a pilot 
flame. A more detailed description of the experimental rig can be found 
in [49]. 

In order to obtain a well-defined experimental data-set, a measure
ment campaign was conducted during several days at the operation 
condition defined above. Very stable operation could be achieved and 
averaged measurement results together with their standard deviation 
were obtained for comparison with the simulation results. 

3.2. Simulation setup 

The mesh employed for the simulations was derived from the ge
ometry of the fluidized bed rector which consists of a cylindrical bottom 
part of 80 mm diameter and 150 mm height. The bed is mainly located in 
this lower part of the reactor. Above, the reactor opens up in diameter 
from 80 to 250 mm in a conically-shaped part of 80 mm height followed 
by another cylindrical part of 110 mm height. This region is commonly 
referred to as freeboard. The geometry of the fluidized bed reactor was 
meshed using 4224 hexa cells and is shown in Fig. 2 on the right. 

The simulation was set-up in ANSYS Fluent 2021 R2 as a transient 
simulation. A steady-state solution cannot be achieved due the constant 
particle movement in a fluidized bed. In order to obtain mean simulation 
results, time-dependent modelling data of a transient simulation needs 
to be averaged over a representative time period. A time-step of 0.0001 s 
(0.1 ms) was chosen for the fluid as well as for the solid time-step. The 
multiphase model was set to the DDPM employing the KTGF to calculate 
particle collisions. A primary phase representing the gas flow as well as a 
discrete phase representing the particles were defined. The discrete 
phase was set to granular whereas the chosen sub-models are given in 
Table 4. For more information and explanations on the description of the 
granular phase, please refer to the supplementary material. 

Pretests of a cold-flow simulation were conducted in the framework 
of this study [32] to investigate the influence of turbulence which 
showed that the impact on the particle movement was rather small. This 

is in agreement with findings in literature [55–57] especially for cold- 
flow modelling. However, in this study, gas flow mixing and subse
quent chemical reactions are of importance wherefore the influence of 
the turbulence plays a more important role and needs to be considered. 
Therefore, turbulence was modeled using the standard k-ε model which 
is commonly used in FBBG literature [58–61]. Enhanced wall treatment 
was activated and the turbulence multiphase model was set to dispersed 
due to the discrete character of the particles [11]. 

3.3. Boundary conditions and initialization 

The boundary conditions were set to represent the conditions of the 
experimental tests. A fixed temperature of 1200 K was set on the reactor 
walls according to the temperature measured in the oven surrounding 

Fig. 2. Scheme of the experimental rig (left) and mesh of the bubbling fluidized bed gasifier (right).  

Table 4 
Employed sub-models of the granular phase (see supplementary material for 
more information).  

Granular property Employed model 

Multiphase model DDPM 
Particle interactions KTGF 
Turbulence model Standard k-ε model (enhanced wall treatment) 
Transition factor 0.65 
Drag law Gidaspow [31] 
Granular viscosity Syamlal and O’Brien [50] 
Granular bulk viscosity Lun et al. [51] 
Solids pressure Lun et al. [51] 
Granular temperature Algebraic 
Frictional viscosity Schaeffer [52] 
Frictional pressure Johnson and Jackson [53] 
Friction packing limit 0.5 
Angle of internal friction 30 
Packing limit 0.52 
Radial distribution function Ma Ahmadi [54] 
Specularity coefficient 0.5 
Solid wall boundary condition Johnson and Jackson [53] 
Solid-solid restitution coefficient 0.8  
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the gasifier. The temperature at the top wall was set to 1023 K as 
increased losses are expected due to reduced amount of insulation 
installed at this part of the gasifier. A no-slip boundary condition on the 
wall was set for the gas phase whereas a partial-slip condition was 
employed for the discrete phase according to Johnson and Jackson [53] 
using a specularity coefficient of 0.3 which is in the order of magnitude 
of 0.1 recommended for denser fluidization conditions [62]. The spec
ularity coefficient is describing the effect of particle–wall friction and 
controls the momentum transfer from the particle to wall. A value of 
0 represents a no-slip conditions whereas a value between 0 and 1 leads 
to a partial slip condition [62]. The boundary condition for the discrete 
phase was set to “reflect” for all surfaces including the syngas outlet, in 
order to prevent particles from leaving the domain. The preheated steam 
and nitrogen mixture entering at the bottom as well as the nitrogen flow 
were set according to experimental conditions. 

As the model is set up as a transient simulation, an initial condition as 
close as possible to the stable operating condition of the gasifier needs to 
be defined in order to avoid long calculation times. Therefore, the 
initialization procedure as shown in Fig. 3 was developed. The reactor is 
filled with the bed material (red) at the very beginning followed by the 
injection of an initial fuel bed after one second of simulation time (blue). 
After this initialization routine, the fresh biomass fuel (green) is injected 
at a regular interval. 

The bed material is injected in the reactor at the start of the simu
lation. In total 300.000 parcels represent 900 g of olivine, whereas each 
parcel depicts 110 olivine particles. This leads to a distinct reduction of 
calculation demand while still respecting the limit of cell size to parcel 
size ratio discussed in section 2.1.1. The simulation is then run for one 
second after a stable fluidization of the bed material is achieved. Af
terwards, the initial bed of fuel particles at different states of conversion 
is injected in the freeboard of the reactor. The properties of each of the 
particles is calculated previously using the standalone version of the 
particle model. In contrast to the coupled calculations, the boundary 
conditions (e.g. temperature, gas velocity and gas composition) for the 
standalone particle model can only be set to a constant value for which 
average conditions in the bed were used. However, the results of the 
standalone model give a very good approximation of the initial fuel bed, 
since the variations in boundary conditions in a fluidized bed are 
limited. The data necessary as the initial condition for the coupled 
calculation is calculated for different states of conversion using the 
standalone particle model and later patched to the injected initial fuel 
particles via a user defined function. This includes the composition of 
the gas phase and the solid phase as well as the temperature in each 
control volume of the particle. 

The number of fuel particles initially present in the reactor was 

estimated based on the fuel feeding rate. Based on a biomass feeding rate 
of 320 g/h and the biomass density of 1318 kg/m3, a fresh fuel particle is 
fed to reactor every 7.5 s. Together with the assumption that char par
ticles having a mass smaller than 0.5% of the initial mass are elutriated 
from the reactor, this leads to about 475 fuel particles in the reactor at 
stable operation conditions. 

All of the initial fuel particles are treated similar as the fresh biomass, 
which is introduced to the reactor at a regular interval of 7.5 s corre
sponding to the fuel feeding rate of the experiments. The particle model 
is solved for all char and biomass particles after each fluid time-step and 
source terms for energy and species are updated accordingly. After about 
10 s of process time, the gas composition at the outlet is getting constant. 
From there on, a further time-span of 20 s (Ostermeier et al. [63] rec
ommended a time-span of 10 s when investigating just fluid-dynamics), 
was simulated to average the results of the simulation. The gas 
composition at the outlet, the pressure drop across the bed and the 
temperatures at the measurement points of the experimental setup along 
the reactor height are recorded. The initialization method developed 
allows for a very short period of only 30 s of process time compared to 
about 3600 s of process time that would be required if the process were 
modelled from the beginning and only fresh biomass particles were 
introduced to the reactor. 

Due to the limitation of the maximal particle size in relation to the 
cell size of the CFD mesh, it was necessary to employ a “reverse clus
tering” (i.e. splitting) method for the fuel particles. The possibility to 
employ such an approach has been confirmed by ANSYS Fluent who also 
successfully used this method in the past [64]. The rather big particle 
size combined with the small reactor diameter in the case of the inves
tigated lab-scale unit would require a very coarse mesh not suitable for 
application in CFD. Therefore, each fuel particle is represented by 
several parcels having only a fraction of the actual particle mass. Each 
particle was represented by 50 parcels, which leads to 23,750 fuel 
parcels in the gasifier. This ensures for each cell of the mesh to be able to 
contain at least 5 fuel parcels (while respecting the packing limit) and 
allows to maintain a parcel size sufficiently smaller than the cell size as 
suggested by ANSYS Fluent [65]. The particle model is solved for each 
parcel using the actual size of the particle whereas source terms were 
scaled accordingly. This reverse clustering approach leads to a compa
rably high calculation demand. However, when applying the coupled 
model for bigger facilities, this procedure is not necessary as the ratio of 
particle size to cell size will be larger. Moreover, the common clustering 
approach, where one parcel represents several fuel parcels, can be 
applied in such cases which further reduces the computational demand. 

Fig. 3. Step-wise initialization of the particulate phase. Injection of the bed material (red) is followed by the injection of an initial fuel bed (blue) containing particles 
at different states of conversion, which is followed by a continuous supply of fresh biomass (green). 
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4. Results and discussion 

First, results of the standalone particle model are presented. Different 
gasification kinetics are evaluated and compared with experimental 
data from literature. Furthermore, the full conversion of a fresh fuel 
particle including pyrolysis and gasification is analyzed in detail using 
the standalone model. Afterwards, the results of the coupled multi-scale 
model are presented and validated using experimental data generated in 
the framework of this study. 

4.1. Results of the standalone particle model 

In the following section, different char gasification kinetics are 
evaluated and results at the particle level calculated with the standalone 
version of the PM are presented. 

4.1.1. Evaluation of gasification kinetics 
A similar version of the standalone PM as used in this study was 

already validated for the case of fluidized bed pyrolysis [23], however, 
gasification has not been investigated in detail. Therefore, two different 
char gasification kinetics by Mermoud et al. [25] and Van de Steene 
et al. [26] were implemented in the existing model. The kinetics were 
validated using data of gasification experiments conducted by 
Reschmeier et al. [66]. Experiments of biomass pyrolysis in a fluidized 
bed by Reschmeier et al. [67] were already successfully modelled using 
the standalone PM while evaluating different heat transfer models for 
fluidized bed conditions by von Berg et al. in a previous publication 
[23]. In [66], Reschmeier et al. investigated gasification of char from 
softwood pellets in a small-scale bubbling fluidized reactor using steam 
as fluidization agent. The mass loss of several char particles during 
gasification at 850 ◦C was measured using a fluidized bed on a balance. 
To check if the model can predict this mass loss accurately, a simulation 
using the standalone particle model was set up considering the experi
mental conditions of Reschmeier. The experiments are based on char 
particles obtained from pyrolysis of softwood pellets, which is the same 
fuel employed for the experiments in the present study. To achieve a 
representative initial condition for the char particle, the simulation was 
started using properties of fresh softwood pellets. The modelling results 
show that after approximately one minute, pyrolysis is finished and the 
conditions of an initial char particle are reached. From there on, gasi
fication is the main process of conversion. In Fig. 4, modelling results of 
the mass loss over time using the kinetics by Mermoud et al. [25] and 
Van de Steene et al. [26] are compared to experimental findings. The 
kinetics of Van de Steene predict a considerably faster conversion rate 
leading to a more than twice as fast char conversion when compared to 

the kinetics of Mermoud. Altogether, the faster kinetics of Van de Steene 
seem to match the experimental data better, especially when consid
ering the time until conversion reaches 100%. Total particle conversion 
is reached after about 1600 s for the experimental test and after 1100 s 
and 2700 s when employing Van de Steene or Mermoud kinetics, 
respectively. Therefore, the kinetic model of Van de Steene will be used 
further on. Moreover, the current version of the PM does not consider 
particle attrition and fragmentation which are relevant in fluidized bed 
conditions and would also result in faster particle conversion. Therefore, 
the choice of the faster kinetic rate is more reasonable at the moment. 

4.1.2. Results at the particle level 
The standalone model was used to evaluate and visualize the con

version of a fuel particle. The coupled multi-scale model is run only for a 
short time when compared to the time needed for the total conversion of 
a fresh fuel particle and would therefore not allow to show the total 
conversion process of a fuel particle. The standalone particle model was 
used employing same settings as in the coupled simulations, however, a 
constant temperature of 1073 K and a constant gas composition were set 
for the standalone calculations. The results of the model show that in 
general, the particle conversion can be divided into a pyrolysis and a 
gasification step. These two steps can be assumed to occur sequentially 
as gasification shows very slow kinetics compared to the fast pyrolysis. 
The evolution of devolatilization during pyrolysis is shown in Fig. 5. The 
evolution of temperature, moisture, fresh biomass and char is plotted 
over timer for every second control volume (CV) in the particle whereas 
CV 1 is the innermost and CV 10 the outermost CV. The temperature in 
every CV is rising with increasing time, whereas the heat-up in the outer 
part is significantly faster due to the rather low thermal conductivity of 
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Fig. 4. Comparison of modelling and experimental results for the mass loss of a 
char particle (obtained from pyrolysis of a 6 mm cylindrical softwood pellet) 
during steam gasification in a bubbling fluidized bed at 1173 K. Experimental 
data taken from Reschmeier et al. [66]. 

Fig. 5. Intra particle gradients during pyrolysis for temperature, moisture, 
biomass and char amount in the individual control volumes (CV 1: centre, CV 
10: surface) for cylindrical softwood pellets with 6 mm diameter and 18 mm 
length. The boundary conditions were set according to the experiments con
ducted in this study. 
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the biomass. It takes about 50 s until the temperature in the whole 
particle has reached the surrounding temperature and is almost evenly 
distributed. The evolution of the moisture content shows quick drying in 
the CV at the surface (less than 5 s) whereas above 30 s are necessary to 
remove all moisture in the central CV in order to achieve total drying of 
the particle. The evolution of char proceeds in the opposite way to that 
of biomass, as char is produced during the pyrolysis of the fresh biomass. 
It takes about 40 s until all biomass is converted to char, whereas distinct 
gradients are visible for the different solid species. The trend of the 
moisture and biomass curve suggests that drying might be limiting the 
pyrolysis reaction. Bryden et al. [68] also found a significant effect of 
moisture content on the pyrolysis time for thermally thick particles. 
During pyrolysis, almost 80% of the initial particle mass is devolatilized. 

The char produced during pyrolysis is then gasified. The evolution of 
temperature and the amount of char during the gasification of the par
ticle is shown in Fig. 6.a for every second CV. The temperature shows an 
almost homogeneous distribution with slightly lower temperatures in 
the center of the particle for the whole time of the gasification period 
which takes about 4000 s. The temperature diffrence between the CV at 
the center and the surface of the particle is at maximum 15 K. The 
evolution of residual char during gasification shows that gradients of 
solid char inside the particle are present, however they are much more 
subtle compared to the gradients present during pyrolysis. When 
running the same simulation at a higher temperature of 1173 K still 
within the typical operating range of FBBG [5,69], the model predicts 
distinct gradients also during gasification as shown in Fig. 6.b. In this 
case, the outer layer of the particle is already fully gasified after 75% of 
the time needed for total conversion (about 1100 s) and temperature 
gradients of about 40 K are predicted. Furthermore, particle gradients 
during gasification will be even more distinct when bigger fuel particles 
are employed. 

The evolution of fuel conversion is visualized in Fig. 7 for the case at 
1073 K. During the first 40 s shown in the upper row of the figure, the 

changes inside the particle lead to clearly visible gradients until the 
whole fresh biomass is converted to char. Afterwards, the residual char 
is gasified considering H2O and CO2 as gasification agents. The gradual 
fade from black to white over time represents the consumption of char. 
Simultaneously, the particle diameter is reduced due to particle 
shrinkage considered in the model. During pyrolysis, shrinkage occurs 
beginning from the surface of the particle simultanously with the 
devolatilization in each CV and proceeds into the center until the whole 
particle is converted into char. During gasification, a homogeneous 
shrinkage over the whole particle radius can be observed while the re
sidual char is gasified. 

4.2. Results of the multi-scale model 

In the following section, the results of the coupled simulations are 
discussed and validated using experimental data. Therefore, the mea
surement and modelling results of pressure drop, temperature at 
different positions in the reactor as well as the gas composition at the 
reactor outlet are compared. Furthermore, the modelling results at the 
particle level are investigated in more detail demonstrating the possi
bilities and advantages of the employed multi-scale approach. 

4.2.1. Comparison with experimental data 
In Fig. 8, the modelling results (blue) are compared with experi

mental data (orange). The obtained modelling results of time dependent 
pressure drop over the bed presented in Fig. 8.a show a fluctuating 
behavior typical for a bubbling fluidized bed. For easier comparison, the 
mean pressure drop averaged over the sampling time of 20 s marked in 
the diagram is plotted (solid blue line) together with the standard de
viation (dashed blue line). When compared to the mean experimental 
pressure drop (solid orange line) and its standard deviation (dashed 
orange line), the model shows acceptable, but not particularly good 
agreement with the measurement results. The average value of the 

Fig. 6. Intra particle gradients during char gasification for temperature and char amount (the char particle was obtained via pyrolysis of a cylindrical softwood 
pellets with 6 mm diameter and 18 mm length). a) employing an operating temperature of 1073 K (same as in the experiments and coupled simulations) shows less 
pronounced gradients, b) employing a temperature of 1173 K leads to more distinct gradients. All other boundary conditions were set according to the experiments 
conducted in this study. (CV 1: centre, CV 10: surface). 

L. von Berg et al.                                                                                                                                                                                                                                



Fuel 324 (2022) 124677

11

experiments is about 1268 ± 75 Pa whereas the modelling results lead to 
904 ± 308 Pa, showing a deviation of about 29%. The disk-shaped 
marker shows the time of the initial injection of the fuel whereas the 
diamond-shaped markers indicate the continuous fuel feeding every 7.5 
s. Fig. 8.b shows the mean temperature at the different heights inside the 
reactor. The same sampling period as defined in Fig. 8.a was used to 
calculate the average temperature of the simulation results. The exper
imental data shows a homogeneous temperature distribution inside the 
bed with almost the same temperature at T1 and T2. The freeboard is 
about 50 to 100 K warmer showing the highest temperature at T4. A 
similar trend can be seen for the modelling results, although the tem
perature increase in the freeboard is significantly lower. However, it 
must be emphasized that radiation, which could have a non-negligible 
influence under the conditions studied, is only considered for the par
ticle level and not at the reactor level for the sake of simplicity. The 
standard deviation of both modelling and experimental results in the 
bed is very small, which can be explained by the thermal inertia of the 
bed material. Both experimental and modelling results show the highest 
standard deviation at T3, which is located just above the bed. This might 
be explained by the energy demand needed for drying and pyrolysis of 
fresh fuel particles which are likely to be located at the top of the bed 
depending on the intensity of fluidization. Fig. 8.c shows the comparison 
of dry gas composition. Overall, good agreement can be seen for all 
components. However, there is a deviation for CO, CO2 and H2 which 
seems to be connected to the water–gas-shift reaction. This deviation can 
probably be diminished by employing different WGS kinetics available 
in literature but shall not be further investigated in the current study. 
The highest deviation is present for N2 which can be partly explained by 
the fact that the experimental result of N2 is not measured but calculated 
as the difference to 100% and therefore all the measurement errors of 
the other gas components are accumulated. 

Comparison of the measured and modelled fuel mass inside the 
reactor can give a good indication if the model can describe the overall 
processes inside the reactor. During the experiments, the total mass of 
fuel particles in the bed was measured to be around 0.024 kg. Even after 
different hours of operation, no significant change of the total mass 
could be seen. This can be attributed to the rather low ash content of the 
employed fuel of 0.3 mass % in dry basis combined with the overall low 
fuel feeding rate which leads to about 0.001 kg/h of ash fed to the 
reactor. Moreover, elutriation of very small particles and dust was 
observed during the experimental tests. The evolution of the total fuel 
mass over time predicted by the model is shown in Fig. 9 (right axis, 
green curve). The magenta markers show the initial fuel injection (disk- 
shaped) and the continuous fuel feeding (diamond-shaped). When a new 
fuel particle is fed to the reactor every 7.5 s, the mass increases 
instantaneously. In between the feeding cycles, the overall mass declines 
due to conversion of the individual fuel particles. The mass decrease due 

to conversion in between injections is about the same as the mass 
introduced into the reactor at each injection, which ensures that the 
overall fuel mass in the reactor stays almost constant during continuous 
operation. In average, the model predicts a total fuel mass of about 
0.025 kg showing a deviation of below 5% and therefore acceptable 
agreement with the measured value. 

The intensity of mixing between bed and fuel particles and the 
resulting segregation effects can be described as defined by Goldschmidt 
et al. [70]. In the present study, the degree of segregation was defined as 
the ratio of the mean height of the fuel particles to the mean height of the 
bed particles. Therefore, it shows a value of 1 for perfectly mixed fuel 
and bed particles and a value above 1 if the fuel particles show a greater 
mean particle height than the bed particles. The evolution of the simu
lated degree of segregation is shown in in Fig. 9 (left axis, blue curve). At 
the moment of the initial fuel injection, the degree of segregation is way 
above 1 as the fuel particles are injected in the freeboard. Afterwards, 
the particles fall onto the top of the bed and are slowly mixed with the 
bed material. During the investigated time span of 30 s, the segregation 
did not lead to a constant value indicating that the mixing and segre
gation processes did not reach an equilibrium. It seems like a constant 
value of about 1.2 is reached after about 30 s indicating that a great 
number of fuel particles is floating on top of the inert bed material. This 
is in well accordance with literature were a flotsam behavior of the low 
density biomass and char particles is commonly assumed [71,72]. 
However, the focus of the current study is on the multi-scale coupling 
approach and therefore does not further investigate this phenomenon. 

In the coupled simulation, the particle model is solved for every fuel 
parcel in the reactor according to its local boundary conditions. The 
evolution of mean temperature and density for every fresh biomass 
parcel injected to the reactor during the simulation is plotted over its 
residence time in Fig. 10. The initial injection consists of 23,750 parcels 
whereof most of them are partly converted to char. However, only the 
data of the 50 fresh biomass parcels is shown here (disk-shaped marker). 
Every 7.5 s, a new particle is injected represented by 50 parcels each 
(diamond-shaped marker). A similar evolution for both temperature and 
density can be seen for all parcels of a injection showing slight de
viations due to the small changes in boundary conditions. 

The trajectory of a single parcel is visualized in Fig. 11, showing the 
x- and y-position of the parcel plotted over its residence time as it moves 
through the reactor. The mean position of the parcel is visualized by a 
white circle including the standard deviation. Fig. 11.a shows the tra
jectory of a fresh biomass parcel with a density of about 1318 kg/m3. 
After the fresh fuel particle is injected into the freeboard (diamond- 
shaped marker), it falls onto the top of the bed and is mainly located in 
this area. As the surface of the fluidized bed is constantly changing due 
to the constant particle movement, an average bed height is calculated 
during the sampling period and marked by the black dotted line. Most of 

Fig. 7. Fuel conversion during pyrolysis and gasification at different states of conversion (green: fresh biomass, black: char, white: ash).  
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the time, the parcel is located close to this area meaning it is mostly 
located at the bed surface. Due to the eruption of bubbles on the surface 
of the bed, the parcel is thrown into the freeboard from time to time. An 
intensive mixing of fuel and bed particles cannot be observed in the 
investigated case. Findings from the experimental tests also suggested 
that the low-density fuel and char particles tend to be located in the 
upper part of the bed when removing the fuel and bed material from the 
reactor. In Fig. 11.b, the trajectory of an almost fully converted char 
parcel with a density of about 150 kg/m3 is shown. When compared to 
the heavy fresh biomass particle which penetrates deeper into the bed 
from time to time, the lighter char particle spends most of the time in the 
freeboard or at the surface of the bed. 

4.2.2. Calculation time 
The simulations were conducted on a Windows 10 workstation 

equipped with an Intel® CoreTM i7-8700 K CPU @ 3.7 GHz and 64 GB 
RAM. ANSYS Fluent 2021 R2 was run using 4 cores in parallel. It was 
observed that the choice of the parallelization method was essential to 
achieve a significant speed-up when running in parallel. When using the 
default method employed by Fluent (called ‘metis’), the calculation time 
did not improve significantly. This parallelization method splits the 
reactor horizontally. Therefore, the computational load of the PM is not 
evenly distributed on all cores when running in parallel as most fuel 
particles will be located in the same partition due to their flotsam 
behavior. However, a significant reduction of calculation time was 
achieved when employing the partitioning method called ‘cylindrical 
theta-coordinate’ which lead to a much better load distribution over all 
cores. Overall, the PM showed to be well suited for parallelization when 
distributing the computational load evenly over all cores. In our case, 
the coupled-model showed better parallelization potential than esti
mated from our previous study investigating modelling fluidized bed 
reactors using the DDPM at cold-flow conditions [32]. Future modelling 
studies at larger scale will benefit from these findings and use an 
increased number of cores. 

Altogether, one time-step of 0.0001 s took about 3 s calculation time 

Fig. 8. Comparison of modelling results (blue) and experimental data (orange): 
a) pressure drop over the fluidized bed shown as time-dependent data as well as 
mean values (the dashed line shows the standard deviation), b) temperature 
along the reactor height, c) dry gas composition at the reactor outlet. 

Fig. 9. Evolution of total fuel mass in the reactor (right axis, green) and particle 
segregation (left axis, blue). Magenta markers indicate injection of fuel. 

Fig. 10. Fuel parcel temperature and density over residence time.  
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including the solution of the PM and the solution of the DDPM for all 
parcels which leads to a calculation time of about 8 h per second and 
therefore about ten days for a time-span of 30 s. In the current study, 
employing the number of bed and fuel particles as shown in Table 5, the 
solution of the PM for reacting fuel parcels accounts for about 44% of the 
total calculation time. In this case, each reacting fuel particle was rep
resented by 50 parcels due to the limitation of the DDPM, which 
consequently leads to a fiftyfold increase of the time needed for the 
solution of the PM when compared to the case where the PM is solved for 
every fuel particle only. However, even under these disadvantageous 
conditions, the overall calculation time is still manageable. If the parcel 
size was not limited by the small geometry of the lab-scale reactor, each 
fuel particle could be represented by one parcel. This would allow to 
reduce the share in calculation time for the PM from 44% to about 2% as 
shown in Table 5 (Current study mod.). Furthermore, the overall 
calculation time would thereby be reduced to about 57% of the calcu
lation time needed in the current study. 

When analyzing the estimated calculation time for larger applica
tions, there are two main potentials which can lead to a further reduc
tion of the calculation time needed for the PM as shown in Table 5. First, 
a large geometry would probably allow for a regular clustering of fuel 

particles meaning one parcel would represent several fuel particles for 
which the PM is only solved once. Second, larger biomass plants usually 
operate at a lower mass fraction of reacting particles compared to the 
current study [73]. In summary, it seems like the PM developed in this 
study can be applied for even large plants with only a relatively small 
contribution to the overall calculation time. Therefore, if it is feasible to 
model a reactor with the DDPM, it could probably also be modeled with 
the coupled CFD-PM approach with an expected estimated increase of 
computation time of less than 2%. 

5. Conclusions 

In the present study, we have shown for the first time that it is 
feasible to incorporate a detailed 1D particle model into a commercial 
CFD software for modeling fluidized bed biomass gasification. The 
multi-scale approach allows for a detailed analysis of particle movement 
including mixing and segregation at the reactor level while at the same 
time facilitates a comprehensive description at the particle level. The 
current study employs the model for fluidized bed biomass gasification, 
however, the approach can easily be adapted for almost any different 
fluidized bed application where the particle level needs to resolved in 

Fig. 11. Representative trajectories of parcels at different states of conversion in the reactor coloured by residence time: a) fresh fuel (high density) and b) almost 
fully converted char particle (low density). The black dotted line represents the average bed height. 

Table 5 
Representation of fuel and bed material particles for the current study and potentials for reducing the calculation time of the particle model (PM).  
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detail e.g. for chemical looping, reduction of iron oxide or combustion. 
The validation study conducted in this work showed good agreement 
between simulation results and experimental data of temperature as well 
as producer gas composition. However, the pressure drop was signifi
cantly underestimated by the model in the current case and needs to be 
further investigated in future work e.g. via using a different drag model. 
Moreover, an in-depth view at the conversion of individual particles 
along their trajectory through the reactor was given. 

The current study showed that the time needed to solve the coupled 
model was feasible for a lab-scale reactor. By using an initialization 
method whereby an initial fuel bed consisting of particles of varying 
grade of conversion is injected, an initial condition close to the operating 
point of the reactor was achieved allowing for short calculation times. 
Furthermore, we could show that the share of time needed to solve the 
particle model could be further reduced in larger applications as the 
limitation of the DDPM regarding the fuel parcel size will drop and the 
mass fraction of reacting particles will be smaller. Therefore, we esti
mated that the increase of calculation time will probably be less than 2 
% compared to an uncoupled solution of the DDPM. As the DDPM is in 
general well suited for modelling larger applications, the developed 
approach should be applicable in larger facilities with a rather limited 
increase in total calculation time. 

With the developed multi-scale modelling approach, we present a 
powerful tool allowing detailed modelling of a reacting particle inside a 
fluidized bed respecting intra-particle gradients. Further investigation is 
planned employing the approach for a pilot plant fluidized bed biomass 
gasification reactor. Moreover, future work shall focus on a more 
detailed mechanism for tar formation and cracking as tar contamination 
is still one of the main problems hindering the application of fluidized 
bed biomass gasification in a larger scale. The simplified reaction 
mechanisms of pyrolysis and tar cracking currently used form the 
foundation for easy implementation of more detailed chemistry in 
further work. 
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