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The separation of azeotropic mixtures is often energy intensive, thus process in-
tensification (PI) becomes an attractive route to enhance energy efficiency. Two of the
most commonly used separation intensifications are dividing wall columns and hybrid
distillation-membrane processes. In this work, three typical hybrid distillation structures,
distillation followed by pervaporation (D-P), pervaporation followed by distillation (P-D),
and distillation followed by pervaporation then by distillation (D-P-D), are considered and
compared with a hybrid dividing wall column (H-DWC) structure, which is a highly in-
tegrated process combining a dividing wall column and a pervaporation membrane net-
work. The four structures are compared by both single-objective and multi-objective
optimisation. It is shown that the D-P-D and H-DWC structures require significantly lower
total annualized costs than the other two designs due to requiring smaller membrane
area, as these two structures use the membrane only to help the mixture composition
cross the azeotropic point.

© 2023 The Author(s). Published by Elsevier Ltd on behalf of Institution of Chemical
Engineers. This is an open access article under the CC BY license (http://creative-

commons.org/licenses/by/4.0/).

1. Introduction

Distillation is the most technologically mature, and the most
widely used, separation method in the chemical industry.
Conventional distillation is very powerful in separating zeo-
tropic mixtures, however, many separation problems of in-
dustrial interest involve azeotropic mixtures, such as water-
ethanol, nitric acid-water, and acetone-methanol-chloro-
form. When the separation process involves azeotropic or
close-boiling mixtures, then separation within a single con-
ventional distillation column is impossible. Some of the most
commonly used methods to separate azeotropic mixtures are
azeotropic distillation, extractive distillation, and pressure-
swing distillation, all involving multiple columns and there-
fore also a high energy consumption. The increase in
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environmental awareness over recent decades has called for
more sustainable methods for the separation of azeotropic
mixtures. This is where hybrid processes enter into the pic-
ture, where in the context of this work, a hybrid process is
defined as a process combining at least one distillation
column with at least one membrane process in an integrated
manor. We will also consider a hybrid dividing wall column
and demonstrate when such a structure may be superior to
more standard hybrid separation processes.

Pressly and Ng (1998) introduced 15 hybrid structures for
the separation of binary mixtures, including common con-
figurations such as the distillation-pervaporation (D-P)
structure, the distillation-pervaporation-distillation (D-P-D)
structure, and the pervaporation-distillation (P-D) structure.
In the D-P structure, a single distillation column is used to
pre-separate the azeotropic mixture until close to the azeo-
tropic point, followed by a pervaporation membrane unit to
obtain the desired product at the specified purity from either
the permeate or rententate stream. Alternatively, the feed

0263-8762/© 2023 The Author(s). Published by Elsevier Ltd on behalf of Institution of Chemical Engineers. This is an open access article
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can be introduced to the pervaporation membrane unit first,
to overcome the azeotropic point, followed by the distillation
column for further separation (P-D structure). These hybrid
designs can, however, be limited by low capacity and high
capital cost of the membrane unit. Instead, another design
with a membrane to cross the azeotropic point placed be-
tween two distillation columns, may be more economically
beneficial as the use of the membrane unit can be minimized
with this design (D-P-D structure). Pressly and Ng (1998)
presented a screening method based on the membrane
break-even cost, i.e. the maximum allowable membrane cost
calculated by subtracting the cost of the distillation column
in the hybrid process from the cost of the conventional dis-
tillation process, and this was used to quickly identify if a
hybrid process was likely to be economically superior com-
pared to its conventional distillation counterpart. Koczka
et al. (2007) compared the performances of the D-P, D-P-D,
and P-D structures for the dehydration of ethanol using
azeotropic distillation as the base case. It was found that
while the D-P-D structure had a lower total annualised cost
(TAC) and lower energy requirement when compared to
azeotropic distillation, the D-P structure offered the most
savings in terms of TAC, and the P-D structure required the
least energy.

Skiborowski et al. (2014) proposed an optimisation fra-
mework where the first step was to decompose the hybrid
process model into individual distillation column unit(s) and
individual membrane network(s). Then each of the in-
dividual units was initialised and optimised separately using
a simpler objective function, such as minimising energy and
minimising membrane area. The (sub-)optimal designs for
each of the individual units were then “recombined” into an
initial hybrid process, and more rigorous optimisation with
the desired objective function was performed based on this
initial design to obtain the final optimal design. In one of the
case studies for ethanol dehydration, with about 42 mol%
ethanol in the feed, it was shown that the D-P structure was
economically favourable when compared to the D-P-D
structure and to a pressure-swing distillation structure.
Furthermore, in the D-P-D structure, out of the 4.765 mil €
TAC, the second column accounted for only 75 k€ (equivalent
to about 1.57% of TAC), which indicated that the second
column in the D-P-D design was almost negligible for the
separation of the ethanol/water mixture in that case study.

In addition to comparison studies of different hybrid
structures, studies on individual designs have also been
presented. Luyben (2009) studied the design and control of a
D-P structure for ethanol dehydration (7 mol% ethanol in the
feed) using a lumped membrane model (i.e. the membrane
unit was split into a fixed number of fragments). Novita et al.
(2018) studied a hybrid extractive distillation process com-
bined with a membrane unit (ED-P) process for various al-
cohol dehydrations, including ethanol dehydration with
89 mol% ethanol in the feed. In that study, an entrainer
(glycerol) was present in the hybrid process. Therefore, in-
stead of breaking the ethanol/water azeotrope using the
membrane, the entrainer was used to break the azeotrope
and the membrane unit used to separate the entrainer from
water, thus replacing the role of the recovery column in a
conventional extractive process. Wu et al. (2020) studied the
ED-P process for dehydration of n-propanol with glycerol as
the entrainer. Both Novita et al. (2018) and Wu et al. (2020)
showed that the ED-P process could save around 21 - 25% of

the TAC when compared to a conventional extractive pro-
cess. Meng et al. (2020) extended the work of Wu et al. (2020)
to separate a ternary ethyl acetate/ethanol/water mixture
using a ED-ED-P structure. The performance of the ED-ED-P
structure was compared to a three-column extractive dis-
tillation (TCED) process, a three-column-pressure-swing-
distillation (TCPSD) without heat integration, and a TCPSD
with partial heat integration. It was found that the ED-ED-P
structure could save nearly 61% TAC when compared to the
TCPSD without heat integration, and the ED-ED-P process
also had the lowest carbon dioxide emission of all four pro-
cesses. In both of the studies by Wu et al. (2020) and Meng
et al. (2020), the membrane unit was modelled based on a
lumped model.

Other than the more commonly explored D-P structure,
there are a few other hybrids structures that have been ex-
plored in the literature. Kreis and Gérak (2006) reported that
for a hybrid structure where the membrane unit was located
at a sidedraw stream from the column, with retentate and
permeate streams recycled back to the column (termed as b-
side structure), this structure could assist the separation of
close boiling mixtures. If the p-side structure was modified to
make, for example, the retentate stream as a product stream,
then the p-side structure could be used for ternary mixture
separation. The b-side structure (both retentate and
permeate recycled, or only one of retentate or permeate re-
cycled) has been studied and discussed by various re-
searchers (Gonzalez and Ortiz, 2002; Koch and Sudhoff, 2013;
Lee et al., 2016). For the P-D structure, where the membrane
is located before the distillation column and used for pre-
liminary separation of the feed, Zarca et al. (2018) reported
that the same structure could save up to 50% total operating
cost compared to conventional distillation columns for the
separation of an olefin/paraffin mixture.

The increase in awareness of sustainable operation is
calling for new energy-efficient and greener processes,
aligned with the concept of Process Intensification (PI).
Following this concept, the two columns in the D-P-D
structure can be integrated into a single column with a ver-
tical wall installed in the middle, thus forming a hybrid di-
viding wall column (H-DWC). Although there have been a few
studies on the design of hybrid reactive dividing wall col-
umns (e.g. Holtbruegge et al. (2015); Li et al. (2020)), the fea-
tures and potentials of the H-DWC have not yet been
properly explored. Therefore, in this work, an H-DWC is
compared with three base cases of hybrid processes in-
cluding the P-D, D-P, and D-P-D structures. For the H-DWC,
we will also consider the option of having the wall extended
to the top or to bottom based on the thermodynamic char-
acteristics of the mixture. Both single objective and multi-
objective optimisation will be performed, not only to com-
pare the economic performance of each structure, but also to
properly identify the various relationships between the dif-
ferent key variables within each design.

Note that, although this work considers pervaporation as
the membrane process in the hybrid distillation-membrane
process, the pervaporation membrane can easily be replaced
by a vapour permeation unit by changing the membrane feed
from liquid phase to vapour phase (e.g., by adding a feed
heater to vaporise the membrane feed). Various studies have
considered comparisons between different hybrid processes
based on vapour permeation (Moganti et al., 1994; Stephan
et al.,, 1995; Holtbruegge et al., 2015).
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Fig. 1 - Schematic of the membrane network. The membrane stages (MS) are depicted with the larger boxes, while the
membrane modules (MM) are the smaller boxes with a diagonal line enclosed within a membrane stage, and HEX(n) is the
feed heater for membrane stage n. There are N,,; membrane stages in a membrane network, and there are Ny, » membrane

modules in the n™ membrane stage.

2. Methodology

To fully explore the potential of the hybrid structures, one of
the key requirements is to use a proper membrane unit
model which adequately captures the key characteristics of
the membrane performance. In this study, pervaporation is
considered due to its successful applications in industry and
great potential. A rigorous membrane model will be used, the
details of which will be discussed in Section 2.1 (Fig. 1). Four
different hybrid processes (Fig. 2), as well as the H-DWGC, will
be introduced in Section 2.2. The simulations considered in
the case studies are carried out in gPROMS Process (Process
Systems Enterprise, 2021) with the physical properties of the
mixtures considered obtained from Multiflash (KBC
Advanced Technologies, 2015). The initialisation strategy for
the simulations will be discussed in Section 2.3. Finally, the
optimisation of all the structures will be considered in
Section 2.4.

2.1. Membrane and network models

The membrane model used in this work is a parallel-flow
hollow-fibre pervaporation membrane, and the shell-side
and tube-side models considered are based on the models
originally developed by Marriott and Sorensen (2003a). The
authors considered two models with different complexities,
a simpler one-dimensional model (i.e., considering only
variations along the axial axis), and a more complex two-
dimensional model (i.e., variations along both the axial and
the radial axes). Both the one- and two-dimensional models
are distributed models described by partial differential and
algebraic equations (PDAEs). Using PDAEs, however, may
lead to problems with initialisation and long computation
times. For optimisation purposes, where a large number of
simulations are required, one therefore generally avoids
using PDAEs. In order to simplify the membrane model for
easy initialisation, many researchers have used a lumped
model (i.e., a membrane model which is divided into several
segments) instead of a rigorous model (Luyben, 2009; Wu

et al., 2020; Meng et al., 2020), and this is the approach also
taken in this work.

Fig. 1 shows the membrane network used in this work,
which consists of N,,s number of membrane stages (i.e., the
larger boxes) connected in series, and in each membrane
stage n there are Ny, , number of membrane modules (i.e.,
the smaller boxes with diagonal lines) connected in parallel,
i.e., the number of membrane modules in each membrane
stage can be different. This membrane network was origin-
ally proposed by Marriott and Sorensen (2003b), and the ad-
vantage of the network is that it is simple, representative,
and computationally efficient. The key assumptions are: (1)
recycling streams between membrane stages are not con-
sidered as they greatly increase the computational burden
during optimisation and the benefit from recycling streams
between membrane stages are quite minor; (2) the feeds into
the membrane modules connected in parallel are assumed to
be equally distributed as there are no clear benefits of an
uneven feed distribution; (3) a heater may exist in front of
each of the membrane stage and their existence is optimised,
and if it exists, the feed heater will always operate at the
maximum allowable temperature. (This is because a higher
temperature will increase the permeate flux, and thus the
separation performance, so it is favourable to operate the
membrane at its maximum allowable temperature (Bausa
and Marquardt, 2000). The permeate streams leaving the
membrane stages are in the vapour phase and initially at low
vacuum pressure, however, it is preferred to collect the final
permeate stream in the form of liquid for storage and
transportation purposes. Therefore, after combining the
permeate streams into a single (total) permeate stream, a
cooler is used to cool the vapour permeate stream into sa-
turated liquid, followed by a pump to raise the pressure back
to 1bar which is the assumed operating pressure of the
columns.

The mathematical model of the membrane network is
built such that there is a maximum number of N,,c membrane
stages, and during optimisation, the optimal number of
membrane stages will be determined (N3!). This is because
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Fig. 2 - Flowsheets of (a) hybrid pervaporation-distillation (P-D) structure, (b) hybrid distillation-pervaporation (D-P)
structure, (c) hybrid distillation-pervaporation-distillation (D-P-D) structure, and (d) hybrid dividing wall column (H-DWC)
structure. The detailed membrane network is shown in Fig. 1.

the numerical solver in gPROMS (used in this work) required
that any array size should be fixed beforehand (i.e., the array
size is a parameter with a fixed value which cannot be op-
timised). Therefore, an efficient way to overcome this pro-
blem is to perform the calculation with N,,s stages, but to
collect the retentate and permeate stream information only
at the N stage, which is determined from the optimisation.
This strategy has been found to be highly efficient (Chia and
Sorensen, 2022).

2.2.  Hybrid process models

The hybrid structures considered in this work are the dis-
tillation-pervaporation structure (D-P structure, Fig. 2a),
pervaporation-distillation structure (P-D structure, Fig. 2b),
the distillation-pervaporation-distillation structure (D-P-D
structure, Fig. 2c), and the hybrid dividing wall column (H-
DWC, Fig. 2d). The location of the membrane network will
depend on the type of azeotrope, such that it is located at the
distillate for a minimum boiling azeotrope, and located at the
bottom for a maximum boiling azeotrope. As minimum
boiling azeotropes are far more common, these are con-
sidered in this work. For the H-DWC, given the minimum
boiling azeotrope, the dividing wall is extended to the bottom
of the column so that the two products can be removed from
either side. The structure of the membrane network used in
each of the hybrids was described in Section 2.1, and in-
cludes membrane modules and stages, membrane feed
heaters, a permeate cooler, and a permeate pump. It should

be noted that for the feed heater into the first membrane
stage in the membrane network, some a priori knowledge
may be required to set a good initial value. If the temperature
of the feed to the membrane network is higher than the
maximum allowable temperature of the membrane module,
then a distillate cooler is required rather than a heater so
that the feed can be cooled down to the maximum allowable
temperature. (As discussed in Section 2.1, to simplify the
optimisation problem it is assumed that the membrane
module will operate at its maximum allowable temperature.)
Consequently, the membrane stage feed heater of the first
membrane stage can then be set as non-existent (i.e., set the
binary variable to zero) as the feed to the first membrane
stage (i.e., feed to the membrane network) is already at the
maximum allowable temperature. Otherwise, if the feed to
the membrane network has a temperature lower than the
maximum allowable temperature, then the design of the
membrane stage feed heater will be optimised. A membrane
feed pump is required to raise the pressure so that the feed
(at the retentate side) will not vaporise at the membrane
operating temperature. Ideally, this pressure should be op-
timised together with all other variables. To reduce the op-
timisation burden, however, this pressure will be fixed at a
relatively high pressure in which the retentate stream will
always remain in the liquid phase even with a large flow rate
and membrane area (i.e., setting the membrane feed flow
rate and membrane area at their upper bounds). This sim-
plification is reasonable and has often been applied by other
researchers (Gonzalez and Ortiz, 2002; Luyben, 2009) because
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this pressure has a minor impact on the membrane separa-
tion due to the retentate stream remaining in the liquid
phase and the physical property barely changing with the
pressure change (e.g., pressure changed from 1bar to 5 bar).
For cases where the retentate stream should be sent into a
distillation column for further separation, if the retentate
pressure is higher than the operating pressure of the dis-
tillation column, then the stream will be sent through a valve
to reduce its pressure before entering the column.

Depending on the separation system, most of the time
either the retentate or the permeate stream is the required
product stream, rarely both. Then, depending on the purity
of the relevant stream, the stream can either be directly
collected as a product stream, potentially combined with
product streams of the same component from the distillation
column, or the stream can be recycled back into the dis-
tillation column for further separation. In the D-P structure
(Fig. 2a), the distillation column will separate the mixture
into one pure component (i.e., product) stream and the
azeotrope. Then, the membrane network located after the
column will separate the azeotropic stream into its (almost)
pure components. For the other (P-D, D-P-D, and H-DWC)
structures, the role of the membrane network is to aid in
overcoming the azeotropic point. In the P-D structure
(Fig. 2b), if one of the product streams is from the membrane
network, the membrane network will separate the feed (a
combination of fresh feed and the recycle stream which is at/
near the azeotropic point) into one pure component stream
(i.e., the product stream) and the other stream, which has
now crossed the azeotropic point, will be sent to the dis-
tillation column for further separation to obtain the other
component. In cases where both the permeate and retentate
streams from the membrane network are sent to distillation
column(s), the membrane network will merely need to pre-
separate the feed and the distillation column(s) will further
separate the retentate and permeate into pure product
streams (not considered in this work). In the D-P-D and H-
DWC structures, the distillation columns are responsible for
purifying the products (i.e., at least one distillation column
each for the purification of the mixture before and after the
azeotropic point) and the membrane network will only need
to help to “move” the system across the azeotropic point.

2.3. Initialisation procedure and shortcut design

Proper initialisation is essential for any simulation and op-
timisation. Although the initialisation of a design should not
affect the simulation results, a poor initial design may lead to
a failed optimisation or poor local optima. A shortcut method
is usually applied to obtain an initial design, which is then
used as the initial design for the model initialisation.
However, current available shortcut methods for hybrid
distillation-pervaporation systems (Stephan et al, 1995;
Pressly and Ng, 1998; Bausa and Marquardt, 2000; Caballero
et al,, 2009), may either be limited to certain types of struc-
tures, only estimate the minimum membrane area required
without taking into account the actual membrane structure,
and/or cannot provide information about recycle streams.
Also, even by applying these shortcut methods, there is still a
high chance that the model cannot be initialised based on
the shortcut design. A trial-and-error-based shortcut proce-
dure is therefore often applied by the user before the opti-
misation. A typical approach is to split the structure into its
individual units, i.e., only consider the distillation column(s)

or only the membrane network, then for instance use the
McCabe-Thiele method or FUG method for distillation col-
umns, and often a trial-and-error method for the membrane
network, to obtain the initial design.

Taking the D-P structure as an example, for the initial
design of the distillation column, and for a minimum boiling
azeotrope, the distillate composition can be assumed to be
close to or at the azeotropic composition, and the bottom
composition can be considered at the required product
composition for the heavy product. Together with feed in-
formation, the minimum number of stages and minimum
reflux ratio can then be obtained from the McCabe-Thiele
diagram or the FUG method. Furthermore, the distillate flow
rate can also be obtained by performing simple mass bal-
ances. The distillate from the column is then used as the feed
for the membrane network. As described in Section 2.1, the
membrane network considered in this work is formed by Ny,s
number of membrane stages connected in series and Nymn
number of membrane modules connected in parallel within
a membrane stage n. For a proper initial membrane network
design, especially for optimisation purposes, the initial value
in the shortcut design of the membrane network is set as
Nps, i.e, the maximum/upper bound of the number of
membrane stages. As for the number of membrane modules
in a membrane stage n, Ny,mn, these can be set as a middle
value between the lower and upper bounds. In addition, in-
itially, all heaters are assumed present (i.e., the binary vari-
ables for the existence of membrane feed stage heaters are
initially all set to one). With these initial specifications, the
design should achieve good product purities (i.e., close to the
product requirements). If not, then the upper bounds of the
membrane variables such as Ny,s and Ny,m» can be increased
to provide a larger search space for optimisation.

For the other three structures, the membrane network is
used for crossing the azeotropic point, which means that the
composition of the retentate stream cannot be determined
directly. Therefore, a reasonable composition of the retentate
stream can be estimated to be, e.g. the middle point between
the pure component and the azeotropic point. Then, the
same procedure as described above can be applied to in-
itialise the distillation column(s) and membrane network.

In the presence of recycle streams, the recycle stream
should initially be torn (i.e., the recycle stream is not recycled
and a pseudo-recycle stream is added as an additional feed).
The convergence between the recycle stream and pseudo-
recycle stream can slowly be achieved, starting with the as-
sumption that there is no recycle (i.e., the recycle stream is
directly removed from the system and the pseudo-recycle
stream has zero flow rate) and then the pseudo-recycle flow
rate can be gradually increased until it is the same as the
recycle flow rate and the recycle loop is then closed.

2.4. Optimisation

The optimisation of the hybrid structures involves both
continuous (e.g., reflux ratio, distillate and bottom flowrates)
and discrete (e.g., total number of distillation stages, feed
location, number of membrane stages, and number of
membrane modules in each membrane stages) optimisation
variables. Together with the highly non-linear total annual-
ised cost (TAC) as the objective function, the optimisation
becomes a typical Mixed Integer Non-linear Programming
(MINLP) problem, which can be handled by either determi-
nistic optimisation or stochastic optimisation. Due to the
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high complexity of the designs considered in this work, the
built-in Outer Approximation / Equality Relaxation /
Augmented Penalty (OAERAP) MINLP optimiser in gPROMS
may not easily converge into a good local optima (Chia et al.,
2021). Also, this optimiser is not able to perform multi-ob-
jective optimisation. Stochastic optimisation is therefore
used in this work for both single objective optimisation and
multi-objective optimisation. Different stochastic optimisa-
tion methods (e.g., Genetic Algorithm (GA), particle swarm
optimisation (PSO) and simulated annealing (SA)) have
shown great success for optimisation of chemical processes
due to their ability to escape poor local optima (owing to the
randomness involved), robustness to different structures, no
need for providing initial values for each optimisation vari-
able, and capability of performing multi-objective optimisa-
tions (Waltermann and Skiborowski, 2017; Yang et al., 2019;
Duanmu et al., 2022a).

As gPROMS has no built-in stochastic optimisation method
available for solving MINLP problems, we will consider sto-
chastic optimisation using Genetic Algorithm (GA) for single
objective optimisation, and the fast and elitist nondominated
sorting Genetic Algorithm (NSGA-II) developed by Deb et al.
(2002) for multi-objective optimisation. The optimisation is
developed in C#, and is connected with gPROMS via the For-
eign Process Interface (FPI, a communication protocol used by
gPROMS coded in C++) and gO:Run (Process Systems
Enterprise 2022), a gPROMS execution-only engine to start si-
mulations in gPROMS externally). Details of the optimisation
methods applied are discussed in the respective subsections.

2.4.1. Single objective optimisation

In this work, the single objective optimisation is carried out
using Genetic Algorithm (GA) on a workstation with a dual
Intel Xeon Gold 6226R CPU (32 cores and 64 processors in
total) with a clock speed of 2.90 GHz. Moreover, the total
memory capacity is 192 GB with speed of 3200 MHz. To en-
hance the speed of the optimisation, 40 processors are used
for parallel computing. In our experience, the optimisation
can then be approximately 20-30 times faster than single-
core optimisation depending on the complexity of designs. A
timeout function (20s in this work) is applied to avoid any
“infinitely long” simulations as a few GA chromosomes with
poor values of optimisation variables may lead to slow si-
mulations (i.e., hard and/or slow to converge and long time
for reinitilisation). Once this happens, this chromosome will
be considered as an infeasible simulation and the corre-
sponding thread will be terminated and restarted for the next
simulation. As an additional feature, a dynamic bound
function is also introduced in the optimisation to avoid un-
realistic solutions. For example, for a distillation column, the
feed location should always be smaller than the total number
of stages of the column. Once this rule is violated during
optimisation, the feed location will be regenerated to a
random integer within the bounds between its lower bound
and current value of total number of stages.

The settings of the GA can be found in Chia et al. (2021).
The population size is chosen as five times the number of
optimisation variables in each design. The stopping criteria is
either when the GA reaches a maximum of 200 generations
(i.e., MaxGeneration = 200) or when the objective function
stays constant within a given tolerance for 20 consecutive
generations (i.e., MaxStallGeneration = 20), depending on
whichever comes first. The fitness and constraint tolerances
are set as 107*. Elitism is applied in the GA, where the top 10%

of the chromosomes are allowed to participate in the next
generation directly without going through crossover and
mutations. The top 50% of the chromosomes (including the
elites) are chosen as the parents for the next generation,
where two chromosomes (out of the top 50%) are randomly
selected and discrete crossover is applied to produce one
child. The selection and crossover procedures are repeated
until the remaining 90% of the population is filled up (as the
elites took up 10% of the whole population). The mutation
probability is initially set as 50% when the simulations are off-
spec (i.e., at least one constraint is not met), and is decreased
to 10% when at least one simulation is on-spec (i.e., all con-
straints are met). Moreover, to avoid guessing the R value for
the penalty of fitness, the penalty function proposed by Deb
(2000) is used, where the penalised fitness equals the sum-
mation of the worst solution (i.e., the largest fitness for a
minimisation task) and the total constraint violations.

To ensure a good optimal design, the very first few opti-
misations will be performed with wide ranges of each opti-
misation variables (e.g., the range of the total number of
stages in a distillation column is from 1 to 60 in the case
studies) to obtain a preliminary optimisation. Then the op-
timisation will be carried out with a narrower optimisation
variable bounds to improve the quality of optimal designs.

2.4.2. Multi-objective optimisation

The multi-objective optimisation method considered in this
work is the method proposed by Deb et al. (2002). NSGA-II is
in essence a sorting approach for determining the Pareto
front in a fast way (i.e., with fewer calculations). Key func-
tions such as selection, crossover, and mutation need to be
decided by the user. In this work, the binary tournament
selection (Back et al., 2000), discrete crossover (Umbarkar and
Sheth, 2015), and uniform mutation (Soni and Kumar, 2014)
are applied. The NSGA-II with the selected functions was
tested with a few examples presented by Deb et al. (2002),
and clear and accurate Pareto fronts indicated a good per-
formance of the applied NSGA-II with the selected functions
(not shown).

In this work, as the main focus is the economic perfor-
mances of each design, the two objective functions chosen to
illustrate the multi-objective optimisation are the total ca-
pital cost and the total operating cost. Thereby, the re-
lationship between these two costs, and the relationships
between the key optimisation variables and costs, can be
reflected. In this work, both objectives are related to costs,
however, it is also possible to, say, consider cost versus en-
vironmental impact in the form of energy consumption. It
should be noted that the parallel computing, timeout func-
tion and dynamic bound introduced in Section 2.4.1 are also
applied for NSGA-II for better performance.

Due to the randomness involved in both GA and NSGA-I], it
is necessary to repeat the optimisation of each design a few
times (at least five times is used in this work) to get a good
local-optimal design for comparison. Especially for NSGA-II, the
Pareto front of a single optimisation may not be clear enough,
therefore, Pareto front results from repeated optimisations (five
repeats in this work) are combined and re-processed to find the
final Pareto front in the following case studies.

3. Case studies

The case studies will consider the performance of the hybrid
dividing wall column (H-DWC) against those of the other
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structures (see Fig. 2), namely the distillation-pervaporation
(D-P) structure, the pervaporation-distillation (P-D) structure,
and the distillation-pervaporation-distillation (D-P-D) struc-
ture. The separation task considered is the separation of the
minimum boiling azeotropic ethyl acetate/ethanol mixture,
with a feed composition of 0.20.8mol mol™* and a flow rate of
200 kmol h™* to obtain at least 99 mol% of ethyl acetate and
ethanol in their respective product streams. The feed is as-
sumed to be provided as a saturated liquid at 1bar. The
physical properties of the liquid can be described by the
UNIQUAC model, while the vapour phase is assumed to be an
ideal gas. Due to the lack of openly available membrane in-
formation for this mixture, it is assumed in the calculations
that the membrane characteristics reported by Tsuyumoto
et al. (1997) for the separation of an ethanol/water mixture
are applicable also for this mixture (see Table Al for valida-
tion results), and that the ethyl acetate will mainly leave
from the retentate, while ethanol will permeate through the
membrane and mainly leave from the permeate. The
ethanol/water mixture is not considered because beyond the
ethanol/water azeotropic point, the separation of ethanol
from water using a distillation column is still very difficult as
the bubble points of ethanol and water are still very close to
each other, thus making the H-DWC structure unsuitable.

The design of the hybrid processes was discussed in
Section 2.1 (membrane network) and Section 2.2 (integrating
membrane with distillation column). The H-DWC is con-
sidered as the energetically equivalent 2-column Petluk ar-
rangement, with a prefractionator and a main column. For
the costing, the column diameter of the H-DWC is re-
calculated by considering the cross-sectional area as the
summation of the cross-sectional areas of the pre-
fractionator and the main column (Duanmu et al., 2022b).
The height of the H-DWC is chosen as the highest column
height of the prefractionator and the main column.

For the maximum allowable membrane temperature, a
temperature of 70°C is considered as the maximum tem-
perature the membrane can withstand. The pressure of the
feed stream into the first membrane stage is specified as 5 bar
where the retentate stream will remain in liquid phase even
with heating and pressure drop (as explained in Section 2.2),
and the membrane permeate side pressure is chosen to be
400Pa (Tsuyumoto et al., 1997). Further details of the mem-
brane system can be found in Appendix A.

For the optimisation, it is assumed that there is no pres-
sure drop in the distillation column so the columns are op-
erated at 1bar throughout. The membrane network will be
located at the distillate end of the column since the azeo-
tropic system is a minimum boiling azeotrope. Because the
distillate temperature will always be higher than 70°C (as the
bubble point of the ethyl acetate/ethanol azeotrope is around
71°C), an additional distillate cooler is required in addition to
the total condenser considered in the column model, and the
first membrane stage feed heater is therefore removed (i.e.,
by fixing its binary variable to zero) as previously discussed.
The permeate consists of almost only ethanol, hence the
permeate stream can for some structures be combined with
the bottom stream from the distillation column and collected
as a single ethanol product stream. The initialisation and
optimisation procedures used (together with the CPU speci-
fications) were previously outlined in Sections 2.3 and 2.4,
respectively.

In this work, the objective function for single-objective
optimisation is considered to be the total annualised cost

(TAC) of the structure, and the objective functions for multi-
objective optimisation are the capital cost (CAPEX) and op-
erating cost (OPEX). The TAC is the summation of the an-
nualised CAPEX and OPEX with the annual operating hours
assumed to be 8400hy~', eight years of plant life, and a
membrane lifetime of two years (Duanmu et al., 2022b). The
CAPEX includes the cost of the column shell, trays, con-
denser, reboiler, membranes, heaters/coolers, and pumps.
The distillation column sizing and costing equations can be
found in Duanmu et al. (2022b), while the costing equations
for the membrane and other pieces of equipment (e.g.,
pumps, heaters, coolers) can be found in Appendix B. The
OPEX includes the heating, cooling and electricity costs. The
type of heating or cooling utility is chosen automatically
based on the reboiler/heater or condenser/cooler tempera-
tures, and the utility costs can be found in Turton et al.
(2012). Details of the cost information can also be found in
Appendix B.

4. Single-objective optimisation

Table 1 shows the key variables for the optimal design of
each structure. For the H-DWC, column C1 is the pre-
fractionator and column C2 is the main column of the Pe-
tlyuk arrangement as discussed above. The results show that
the D-P, P-D, and H-DWC structures require a similar total
number of distillation stages, 24, 21, and 25 stages (recall that
H-DWC has only one shell and the main column is column
C2), respectively, which is much smaller than the D-P-D
structure (49 stages in total) as it contains two distillation
columns. In this work, it is assumed that the tray spacing is
fixed and constant, thus the number of stages on both sides
of the wall in the H-DWC has to be the same. It should be
noted that the number of stages on either side of the wall can
be different if the tray spacing is assumed to be different, or if
the column internals installed on either side of the walls are
different.

Looking at the designs where the membrane is located
after a distillation column (i.e., all designs except the P-D
structure), for the total reboiler and condenser duties (sum-
mation of reboiler/condenser duties of both columns C1 and
C2), it can be seen that the D-P structure requires less total
reboiler and condenser duties (2107 kW for D-P vs 2842 kW for
D-P-D and 2704 kW for H-DWC for reboiler duty, and 2108 kW
kW for D-P vs 2779 kW for D-P-D and 2620 kW for H-DWC for
condenser duty). For the P-D structure, the total reboiler and
condenser duties (989 kW for reboiler duty and 826 kW for
condenser duty) are significantly lower than the others as the
feed flow rate (i.e., the retentate stream in P-D structure) into
the column is smaller than for the other designs (112 kmol h™*
for P-D structure and 200kmolh™* for the other designs).
However, the energy is not saved but is instead now required
by the membrane system. Moving on to the energy required
by the D-P-D and H-DWC structures, it is not surprising that
the H-DWC does not save much energy when compared to
the D-P-D structure (heating duties in the D-P-D and H-DWC
structures are 3305kW and 3238kW, respectively; and
cooling duties are 3375 kW and 3313 kW, respectively). This is
consistent with previous findings that a standard DWC with
the wall extended to one end, as considered in this work, will
have a similar energy requirement as its conventional
counterpart (Kaibel, 2014).

Focusing on the membrane network, it is noted that the P-
D structure has the lowest column reboiler duty, but the
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Table 1 - Optimisation results for hybrid distillation structures: Distillation-Pervaporation structure (D-P), Pervaporation-

Distillation structure (P-D), Distillation-Pervaporation-Distillation structure (D-P-D) and Hybrid Dividing Wall column

(H-DWGQ).

Items D-P P-D D-P-D H-DWC Units
Column C1

Total stages 24 21 25 23 —

Feed stage 10 5 12 8 -
Distillate 84.15 71.64 81.90 - kmol h™*
Reflux ratio 1.62 0.25 1.71 = mol mol™*
Reboiler duty 2107 989 2117 1966 kW
Condenser duty -2108 -826 -2119 - kW
Column C2

Total stages - - 24 25 -

Feed stage - - 9 2 -

Feed 2 stage - - - 10 -
Sidedraw stage - - - 2

Sidedraw flowrate - - - 116.62 kmolh™*
Distillate - - 32.91 125.50 kmol h™*
Reflux ratio - - 1.17 1.20 mol mol™*
Reboiler duty - - 725 738 kW
Condenser duty — — - 660 -2620 kW
Membrane Network

No. membrane stages 9 9 5 5 -

No. modules in stage 1 17 22 17 17 -

No. modules in stage 2 22 24 17 22 -

No. modules in stage 3 21 22 18 17 -

No. modules in stage 4 23 21 16 18 -

No. modules in stage 5 24 19 19 26 -

No. modules in stage 6 26 20 - - -

No. modules in stage 7 33 15 - - -

No. modules in stage 8 30 31 - - -

No. modules in stage 9 8 46 - - -

No. modules in stage 10 - - - - -
Total no. modules 204 220 87 100 -
Total membrane area 1224 1320 522 600 m?
Total heat duty 643 2146 463 534 kW
Permeate cooling duty -618 —-2205 -596 -693 kW
Capital Cost

Column (shell + trays) 0.65 0.42 1.16 0.98 M$
Membrane 6.71 7.24 2.86 3.29 M$
Reboiler 0.43 0.28 0.68 0.66 M$
Condenser 0.35 0.20 0.53 0.41 M$
Others 1.35 1.77 0.94 0.96 M$
Operating Cost

Heating 1.17 1.33 1.40 1.38 Mgy
Cooling 0.27 0.88 0.27 0.30 Mgy
Electricity Trace Trace Trace Trace M$y*
Mem. replacement 0.19 0.20 0.08 0.09 M$y™?
Overall

Capital cost 9.48 9.92 6.18 6.30 M$
Annualised capital cost 1.19 1.24 0.77 0.79 M$y*
Operating cost 1.62 2.42 1.75 1.77 M$y?
Total annualised cost 2.81 3.66 2.52 2.56 M$y*

heaters in its membrane network consumed much more
energy when compared to the other structures (e.g., about 3.6
times higher than for the D-P-D structure) due to the fact that
the flow rate into the membrane network is much higher in
the P-D structure (e.g., 272 kmol h™* for the P-D structure and
115 kmol h™* for the D-P-D structure), as most of the ethanol is
separated from the system by the membrane network in the
P-D structure.

It can also be seen from the results that the D-P-D and H-
DWC structures require fewer membrane stages and mod-
ules, thus smaller membrane areas (up to 60% reduction),
when compared to the other structures because, unlike the
membrane network in the P-D and D-P structures where the
network is used for final purification of products to meet the

product specifications, the membrane networks in the D-P-D
and H-DWC structures are only used to help cross the
azeotropic point. Upon closer inspection, the D-P-D structure
requires slightly less membrane area than the H-DWC
structure (522 m? for D-P-D vs 600 m? for H-DWC).

For the economic comparison, the detailed dimension and
cost equations can be found in our previous work (Duanmu
et al., 2022b). A stacked bar graph (Fig. 3) and individual
donut charts (Fig. 4) are provided to illustrate the economic
performances of each individual design. Overall, the D-P-D
structure has the lowest total annualised cost (TAC) of
$2.52My?, followed by the H-DWC structure (about 2%
higher, at $2.56 My™). Although the D-P structure has a
lower operating cost ($1.62My™") than the D-P-D
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Fig. 3 - Stacked bar showing the annualised capital cost (CAPEX) and operating cost (OPEX) for each of the structures studied
together with the elements that make up the CAPEX and OPEX. (Distillation-Pervaporation (D-P), Pervaporation-Distillation
(P-D), Distillation-Pervaporation-Distillation (D-P-D), and Hybrid Dividing Wall Column (H-DWGC).

($1.75My™) and H-DWC ($1.77 My™) structures, the larger
membrane area required by the D-P structure leads to a
significant increase in capital cost, which eventually results
in a 12% increase of TAC compared with the D-P-D structure
($2.81 My for D-P vs $2.52My™* for D-P-D). Not surpris-
ingly, the P-D structure has the highest TAC (at $3.66 My,
45% higher compared to the D-P-D structure) as the entire
feed stream plus the recycled material goes through the
membrane, thus demanding not only a large membrane
system but also a much higher permeate cooling duty due to
the need for condensing the low-pressure vapour (400 Pa) in
the permeate using expensive refrigerant. It should be noted
that although the membrane system in the P-D structure
handles much more feed material compared to the other
designs, the overall membrane area required is similar to
that of the D-P structure, which makes sense as the task of
the membrane system in the P-D structure is to cross the
azeotropic point but not to separate the mixture completely
(i.e., to achieve 99 mol% of each product). However, all the
ethanol leaves the system as the product from the mem-
brane system in the P-D structure, which requires a much
higher permeate cooling duty than the D-P structure.
Moreover, the results clearly show that for each design,
the biggest contribution to the TAC is still the operating cost
(ranging from about 58% for the D-P structure to 69% for the
D-P-D and H-DWC structures). The heating cost contributes
the most, not only in terms of the total operating cost, but
also in the TAC (up to about 56%). For the capital cost, the D-
P-D and H-DWC structures have a lower cost (up to 31% re-
duction compared to the most expensive P-D structure) due
to smaller demand for the expensive membrane (e.g., the D-
P-D structure requires about 60% less membrane area com-
pared to the P-D structure). It should be noted that for the D-
P-D and H-DWC structures, the capital cost of the distillation

column (summation of the column shell and trays, con-
denser, and reboiler costs) is almost doubled compared to
those of the other two designs due to the additional dis-
tillation column, i.e. column section, introduced in these two
structures.

A further study considering the membrane cost being
reduced to 50% of the base case was also performed to con-
sider the impact of the membrane cost, as the membrane has
been found to be one of the key factors affecting the costs.
The comparison was made just between the D-P-D and H-
DWC structures as these were identified as the most pro-
mising structures. Both designs were re-optimised with the
new membrane cost and the results (detailed designs and
results are not shown) show that the H-DWC structure (TAC
as $2.25My™?) is now marginally cheaper than the D-P-D
structure (TAC as $2.26 My™"), which indicates that the D-P-D
and H-DWC structures have close economic performances
also for different membrane prices.

5. Multi-objective optimisation

In the multi-objective optimisation, the bounds of the opti-
misation variables for each structure are narrower (e.g., the
bounds of the membrane stages in the H-DWC structure is
changed from 1-10 to 4-8) based on their corresponding op-
timal designs found in the single-objective optimisation
(Section 4). This is because it is unnecessary to have a large
search space to obtain a clear Pareto front and to establish
the relationships between the key variables given the single-
objective insight. Moreover, with wide boundaries, the si-
mulation time is significantly longer. Even with parallel
computing (e.g., 50 processors used in this work), it may take
a day to obtain one single multi-objective optimisation with
wide bounds compared to for example the corresponding
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(c) Distillation-Pervaporation-Distillation (D-P-D)
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(b) Pervaporation-Distillation (P-D)
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(d) Hybrid Dividing Wall Column (H-DWC)

Fig. 4 - Donut chart showing the portions of annualised capital cost (CAPEX) and operating cost (OEPX), together with the
elements that make up the CAPEX and OPEX, in the total annualised cost.

optimisation time of about four hours for H-DWC using the
narrower bounds. The boundaries of key optimisation vari-
ables can be seen from the x- and y-axes from the correlo-
grams (Figs. 6, 8, 10 and 12).

As described in Section 2.4.2, the multi-objective optimi-
sation is performed using NSGA-II (Deb et al., 2002). The
population size and maximum generations of each optimi-
sation task is set as 150 and 350, respectively. Before con-
sidering the results, a few terms should be defined: .

® Infeasible simulations: Simulations which cannot be
converged due to either calculation failure or timeout
during optimisation (i.e., unsuccessful simulations). These
solutions are not shown on the scatter plots.

® Feasible simulations: Successful simulations, i.e. simula-
tions that have not failed, which may either be within or
outside the constraints. These are shown on the scatter
plots as dark/blue (on-spec) or light/grey (off-spec) points.

® On-spec simulations: Successful simulations which are
within the constraints (e.g., achieved the product purities).
These are shown on the scatter plots as dark/blue points.

® Off-spec simulation: Successful simulations which are
outside the constraints (e.g., did not meet the product
purities). These are shown in the scatter plots as light/grey
points.

® Pareto front: A set of solutions where the objective func-
tion value of a solution cannot be further improved

without compensating the objective function value of the
other solution (Ngatchou et al., 2005).

® Accumulated Pareto front: A collection of Pareto fronts
from all the repeated optimisations (each optimisation is
repeated five times in this work). These are shown on
scatter plots as larger light/orange points.

® Final Pareto front: The “true” Pareto front is a set of the
non-dominated solutions from the accumulated Pareto
front. These are shown on the scatter plots as larger dark/
green points.

The results from the multi-objective optimisation are
shown in Figs. 5, 7, 9 and 11 for the distillation-pervaporation
(D-P), pervaporation-distillation (P-D), distillation-perva-
poration-distillation (D-P-D), and hybrid dividing wall
column (H-DWC) structures, respectively. The corresponding
correlograms (Figs. 6, 8, 10 and 12) show the correlations
between the key continuous optimisation variables for each
structure. It should be noted that all Pareto fronts (orange
and green points in the scatter plot, e.g, on Fig. 5a), are
gathered from all the repeated optimisations (each optimi-
sation is repeated five times in this work). The final Pareto
front (green points) is the set of non-dominated solutions by
re-analysing all the five Pareto fronts. The feasible points
(light/grey and dark/blue points in the scatter plots) are also
gathered from repeated optimisations. Due to the large data
size of the optimisation (45,000 total simulations for each
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Fig. 5 - Distillation-Pervaporation (D-P) structure: (a,b) distribution of simulations of capital cost (CAPEX) vs. operating cost
(OPEX), (c-f) correlation between total membrane area and another main optimisation variable in terms of CAPEX and OPEX
for all feasible (successful simulation) points. (Note that on-spec means that all constraints are met).

optimisation (on- or off-spec), i.e., 225,000 simulations for
five repeated optimisations), plotting all points together may
lead to a very large figure size with minor improvement in
the visualisation of the results. Therefore, between one to
five set(s) of optimisation results from D-P, P-D, and D-P-D
are selected which correspond to 15,000-20,000 on-spec

simulations in total (e.g., for D-P a random combination of
two out of five sets of the optimisation results sufficed for
visualisation purposes as that combination gave about 15,489
on-spec simulations). It should be noted that the selection of
optimisation results is randomly selected (i.e., the optimi-
sation results are randomly picked without considering the
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Fig. 6 - Distillation-Pervaporation (D-P) structure: Correlogram showing the relationships between the main optimisation

variables.

optimal values). The way of selecting which results to in-
clude in the plots will not affect the findings and conclusions
as the NSGA-II optimisation method can ensure a good
searching space. For H-DWC, there are only about 7000 on-
spec simulations even when all five sets of optimisation sets
are considered because this structure is difficult to converge.
However, this does not affect the findings and conclusions,
as 7000 points are still large enough to have a clear plot. Since
the points in the Pareto fronts are significantly fewer, the
Pareto fronts from all five sets of optimisation results are
therefore plotted. Similarly, the density plot for the on-spec
simulations (e.g., Fig. 5b) is processed according to the points
in its corresponding scatter plot.

For each structure, the total membrane area and one ad-
ditional key variable are chosen when plotting scatter plots
for CAPEX (e.g., Fig. 5¢) and OPEX (e.g., Fig. 5e) to show their
(statistical/probability) correlation. The R® values are also
shown in the figures to indicate the strength of the correla-
tions. The correlations for CAPEX are defined below (same
definitions apply to the correlations for OPEX): .

® Positive correlation with CAPEX: As the value of the vari-
able considered (i.e., the x-axis) increases, it is more likely
for the possible designs (on-spec/off-spec) to be found at a
larger CAPEX.

® Negative correlation with CAPEX: As the value of the
variable considered (i.e., the x-axis) increases, it is more
likely for the possible designs (on-spec/off-spec) to be
found at a smaller CAPEX.

® No clear correlation with CAPEX: As the value of the
variable considered (i.e., the x-axis) changes (i.e., increases
or decreases), the range of CAPEX for the possible designs
(on-spec/off-spec) barely changes.

In the correlograms (e.g., Fig. 6), the density plots on the di-
agonals show the distribution of the variables that are on
their corresponding x-axis (i.e., the y-axis is the number of
occurrence while the x-axis is the value of the corresponding
variable). The scatter plots (i.e., plots that are not on the di-
agonal) show the correlation between the pair of variables on
its corresponding axes. In the following, each hybrid structure
will be considered in turn.

5.1.  Distillation-Pervaporation (D-P) structure

Starting with the D-P structure, Fig. 5a shows all the feasible
simulations obtained from the optimisation, as well as the
accumulated and final Pareto fronts. The overall shape is
diamond-like, which may be caused by the bounds of the
optimisation variables used in the optimisation task. By
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looking at the detailed results for the off-spec simulations
(light/grey points) near the bottom-left corner (not shown),
the designs of the corresponding distillation columns have
no clear trend but for the membrane networks, the number
of membrane stages is most likely to be at the lower bound
value (6 membrane stages). However, for the on-spec simu-
lations (dark/blue points), the designs with lower CAPEX and
OPEX are most likely to have membrane stages ranging be-
tween 8 and 10 stages, and this finding can be explained by
looking at Fig. 6. The third column (x-axis with the total
membrane area) shows that to achieve the on-spec simula-
tions in the D-P structure, a minimum membrane area of
about 1200 m? is required. Therefore, a larger membrane size
(i.e., more membrane stages) is more commonly seen for the
on-spec simulations. The density plot of on-spec simulations
(Fig. 5b) shows that most of the designs will result in CAPEX
between $11M to $13M and OPEX between $1.70My~* to
$1.95My .

The scatter plot for CAPEX vs total membrane area
(Fig. 5¢) shows clearly that the total membrane area has a
strong correlation with CAPEX (ie., with the increase in
membrane area, the CAPEX range of the possible designs is
also increasing), which indicates that the membrane design
is the most important variable affecting the CAPEX. This
makes sense as from the single-objective optimisation (Fig. 4
in Section 3), the membrane contributes to most of the
CAPEX for each structure. From Fig. 5d, there is a very weak
but positive correlation between distillate flow rate and
CAPEX (solid line), which further illustrates that the total
membrane area plays the most important role in CAPEX. It is
interesting to note that the scatter plot between total mem-
brane area and OPEX (Fig. 5e) has a similar shape to that of
the scatter plot between CAPEX and OPEX (Fig. 5a), which
makes sense as the total membrane area has a strong cor-
relation with CAPEX, therefore the x-axis in Fig. 5a (which is
the CAPEX) can be closely represented by the total membrane
area, making Fig. 5a and e look similar.

Moving on to the distillate, Fig. 5f shows a moderate po-
sitive correlation with OPEX for both off-spec and on-spec
simulations (dashed and solid lines, respectively), indicating
that an increase in the distillate flow rate will most likely
increase the OPEX. This is because, as the distillate flow rate
(D) increases, regardless of the value of the reflux ratio (RR),
the vapour flow rate in the column will increase as V=D x (1
+RR). An increase in the vapour flow rate means that there is
a higher demand for reboiler duty. Also, as the distillate flow
rate increases, the membrane network needs to handle
higher throughput, thus the operating costs related to the
membrane network will also increase. It is, however, inter-
esting to note that the OPEX bottom line of the on-spec si-
mulation (i.e., the bottom edge of the dark/blue points) in
Fig. 5f barely changes. From Fig. 6, it can be seen that for the
on-spec simulations, as the distillate flow rate increases, the
minimum required reflux ratio clearly decreases. Taking the
extreme points for the distillate (i.e., at the highest and
lowest distillate flow rate) and the corresponding reflux ra-
tios, it can be calculated that the vapour flow rate (recall that
V =D x (1 + RR)) ranges from about 100 x (1 + 0.8) = 180 kmol h™*
to 80x(1+ 1.8) =224kmolh™!, which is significantly lower
when considering the range for the whole search space (in-
cluding  off-spec  simulations) which is  about
80x(1+ 0.8) =144kmolh™® to 100x (1+ 2.0) =300kmolh™™.
Therefore, the bottom edge of the OPEX for the on-spec si-
mulations in Fig. 5f almost levels off due to the cancelling

effect between the distillate flow rate and the reflux ratio,
which in turn leads to an almost negligible increase in the
vapour flow rate, thus the reboiler duty remains relatively
constant. Moreover, Fig. 4a showed that the heating costs
(mainly from the reboiler duty) are the main contributor to
OPEX (about 70%), so a relatively constant reboiler duty will
implicitly mean a minor change in OPEX as the distillate flow
rate increases.

From the density plots in Fig. 6 (diagonal plots), it can be
seen that for the three variables considered, in general, the
distribution of the on-spec and off-spec simulations super-
impose, except when the total membrane area is below
around 1200m? This independent area (i.e., when total
membrane area is less than 1200 m?) indicates the range of
total membrane area where the simulations are always off-
spegc, i.e., do not meet the specifications. Conversely, the area
where the on-spec and off-spec simulations overlap means
that the change in the variable has no definite impact on
achieving the design specifications of the simulations. The
cutting point for the membrane area is expected, as for this
structure, the membrane network is entirely responsible for
the purification of the lighter component (ethyl acetate) until
it achieves the product specification. Thus the membrane
area required will be larger than those required by the D-P-D
and H-DWC structures, where the membrane is used only to
overcome the azeotropic point.

Although there is no clear indication that the simulations
will become on-spec or off-spec beyond or upon a certain
value for the distillate flow rate or the reflux ratio, it is clear
that as their values increase, the number of on-spec simu-
lations increases, meaning that there is a higher chance for
an on-spec simulation at higher distillate and reflux ratio
when compared to lower distillate and reflux ratio. For the
total membrane area, the distributions for the off-spec and
on-spec simulations are normal (slightly skewed) with a
mean of around 1200 m? (which corresponds to the cutting
point of off-spec and on-spec simulations) and 1800 m?, re-
spectively.

5.2. Pervaporation-Distillation (P-D) structure

Moving to the P-D structure, the overall shape of all feasible
simulations points (shown in Fig. 7a) looks like an eagle
beak, and the final Pareto front (green points) is within the
search space, indicating a well-defined search range of the
optimisation variables. A unique point of this scatter plot is
that there is an unfilled gap (i.e., infeasible simulations) at
the top-right corner, which is not seen in the scatter plots of
the other structures. The same gap can also be seen in Fig. 8
for the pair plots of distillate flow rate and total membrane
area (top-right and bottom-left plots), where the gap is
formed when the distillate flow rate is greater than about
125 kmol h™* and total membrane area is about 2500 m2. This
may indicate that at large distillate flow rate and membrane
area, the simulations become infeasible (as infeasible si-
mulations are not plotted on the graphs). However, theo-
retically speaking, an increase in distillate flow rate (thus an
increase in the recycle flow rate back to the membrane
network) will require a larger total membrane area to pro-
cess the higher throughput, so the top-right corner should
contain some feasible simulations. Upon further investiga-
tion, it was found that the infeasible simulations are caused
by initialisation failure because when another set of initial
values near the gap (i.e., around 125 kmol h™* of distillate and
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2500 m? of total membrane area) is used, the simulations
run successfully. This is a known challenge for hybrid pro-
cesses as the integration of the membrane network greatly
increases the complexity of the whole structure, making the
initialisation of the structure a difficult task. Therefore, for
cases where the Pareto front is affected by initialisation

failure, the simulations may need to be repeated with dif-
ferent sets of initial values. Nevertheless, since the Pareto
front (i.e., lower CAPEX and OPEX) in this work is on the
opposite side of the gap (i.e., higher CAPEX and OPEX), the
infeasible simulations due to failed initialisation do not af-
fect the findings. Fig. 7b shows that most of the on-spec
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simulations will fall between a narrower range of CAPEX
between $12M to $16 M and a broader range of OPEX be-
tween $3My ' to $3.5My L.

From Fig. 7c and d, it can be seen that, once again, the
total membrane area has a strong (i.e., R? = 0.8884) positive
correlation with CAPEX, while the distillate flow rate has no
clear (i.e., R? = 0.0033) correlation with CAPEX. For the cor-
relation with OPEX, Fig. 7e and f show that the total mem-
brane area has no clear correlation with OPEX while reflux
ratio has a moderate positive correlation with OPEX, re-
spectively. The finding where Fig. 7e is similar to Fig. 7a, and
the less steep OPEX bottom line for the on-spec design in
Fig. 7f, are once again observed. However, the reason behind
this is different from the explanation for this phenomenon in
the D-P structure. In this (P-D) structure, from the results
with single-objective optimisation (Fig. 4b), it can be seen
that the energy consumption in the membrane system con-
tributes the most to the OPEX. For a small reflux ratio, the
energy consumption in the distillation column would be
small, however, to achieve the design specification at the
outlet of the column, the purity of the lightest component in
the retentate stream entering the distillation column will

need to be fairly pure, thus leading to a higher energy re-
quirement in the membrane system. For a large reflux ratio,
the condition is reversed. Therefore, the OPEX is balanced
with the change in the reflux ratio.

Moving on to the correlogram shown in Fig. 8, it can be
seen that most of the designs, regardless of the values of the
optimisation variables considered, have a higher chance of
yielding an on-spec design (i.e., the distribution of the on-
spec simulations for each variable almost always over-
shadows the off-spec simulations). The distributions of the
off-spec and on-spec designs for the distillate flow rate (top
left plot) and reflux ratio (middle plot) completely overlap,
indicating that the simulation can be either off-spec or on-
spec for the whole range of distillate flow rate and reflux
ratio investigated. For the reflux ratio, as its value increases,
there is a higher chance for the simulations to be on-spec. It
can also be observed that there is a clear cut point for the
total membrane area, where in order to obtain an on-spec
design, the total membrane area has to be greater than
1000m? (bottom right plot). Moreover, the total membrane
area for the on-spec simulations is almost normally dis-
tributed around 2000 m?.



CHEMICAL ENGINEERING RESEARCH AND DESIGN 194 (2023) 280-305

295

CAPEX (M$)

OPEX (M$y~1)

OPEX (M$y~1)

16

14 { —— On-spec fit, R? = 0.9670

12

2.75

2.50

2.25
T
5
@
2.00 £
>
I
a
<]
175
150 Off-spec
- On-spec
«  Acc. Pareto front
1.25 «  Final Pareto front
4 6 8 10 12 14 16 6 8 10 12 14 16
CAPEX (M$) CAPEX (M$)

(a) Scatter plot for all feasible simulations

(b) Density plot for on-spec simulations

Off-spec
e On-spec
— - Off-spec fit, R? = 0.9785

16

14

12

Off-spec S
e On-spec . 3 . .
— - Off-spec fit, R?= 0.0163 &, FIPRES
—— On-spec fit, R? = 0.0142 .
o )

-
.

250 500 750 1000 1250 1500 1750 2000
Total mem. area (m?)

(e) OPEX vs. total membrane area

@
=
10 <109 4
g ey
<<
o
8 8
6 J 6
z
4 4
250 500 750 1000 1250 1500 1750 2000 70 75 80 85 90 95 100 105 110
Total mem. area (m?) Distillate - C1 (kmolh~?)
(c) CAPEX vs. total membrane area (d) CAPEX vs. column C1 distillate
Off-spec
3.00 300{ ° Onspec
— - Off-spec fit, R? = 0.4334
—— On-spec fit, R = 0.3317
2.75 2754
2.50 2,504
T
S
225 @ 2.25 1
=
x
o]
&
2.00 © 2.001
e
175 175{ = o
1.50 Ort Spet 1.50
e On-spec
— = Off-spec fit, R2= 0.0048
— - il 2=
1.25 On-spec fit, R 0.0324 1.25 4

70 75 80 85 90 95 100 105 110
Distillate - C1 (kmolh~*)

(f) OPEX vs. column C1 distillate flow rate

Fig. 9 - Distillation-Pervaporation-Distillation (D-P-D) structure: (a,b) distribution of simulations of capital cost (CAPEX) vs.
operating cost (OPEX), (c-f) correlation between total membrane area and another main optimisation variable in terms of

CAPEX and OPEX for all feasible (successful simulation) points. (Note that on-spec means that all constraints are met).

5.3.  Distillation-Pervaporation-Distillation (D-P-D)

structure

The overall shape (see Fig. 9a) of the scatter plot for all fea-

sible D-P-D simulations is droplet-like. The density plot of

on-spec simulations (Fig. 9b) shows that most of the designs

will result in CAPEX between $9M to $12M and OPEX be-
tween $2My~* to $2.6 My, which is spread more evenly
compared with the other structures.
Considering the scatter plots for CAPEX (Fig. 9c and d), the
membrane design (i.e., total membrane area) still plays the
most important role in CAPEX, as expected. The next most
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important variable, the distillate flow rate in column C1, has
no clear correlation with CAPEX (i.e., very small R? value). For
OPEX (Fig. 9e and f), the membrane design shows no clear
correlations with OPEX. The distillate flow rate shows a
moderate positive correlation with OPEX in general. For on-
spec simulations, the horizontal line formed by designs with
minimum OPEX can be explained the same way as for the D-
P structure in Section 5.1 because it also shows a negative
correlation with reflux ratio in column C1 as shown by the
clear division line for their pair plots in Fig. 10. Moreover, the
distillate flow rate and reflux ratio in Column C1 have a
stronger effect on OPEX than was seen previously (Section 3),
where for the D-P-D structure, the reboiler and condenser
duties of column C1 were much higher than the corre-
sponding duties of column C2 for single-objective optimi-
sation.

The correlogram (Fig. 10) shows the relationships between
all continuous variables for the D-P-D structure, including
distillate flow rate and molar reflux ratio in both columns
and the total membrane area. For the distillate flow rate and
reflux ratio of column C1, it can be seen that the distribution

is heavily skewed towards the right, indicating that there is a
higher chance for the simulation to be on-spec when their
values are higher. Moreover, it is found that there is a clear
minimum requirement for distillate flow rate in column C1
(about 80 kmol h™) as, with too low a distillate flow rate in the
first column, some of the light components will remain in the
bottom stream leading to an impure product of the heavy
component, i.e., an off-spec simulation. Since the azeotropic
point is known from the vapour-liquid equilibrium diagram,
together with the feed information, the minimum require-
ment of the distillate can be roughly calculated (not shown).

The distillate and reflux ratio distribution in column C2 is
relatively uniform compared to the other variables, with a
slightly higher chance of obtaining an on-spec simulation at
a larger distillate flow rate and reflux ratio (of column C2)
than when their values are lower. The total membrane area
has a normal distribution at around 1250 m? for the on-spec
simulations. A minimum of about 500 m? total membrane
area is required to achieve an on-spec simulation, which
makes sense as a very small membrane area may not sepa-
rate enough heavy components from the mixture to fulfil the
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mass balance of the heavy component (recall that the heavy
component can only leave the system with the bottom
stream from column C1 or from the membrane). Other than
the relationship explained for the distillate flow rate and
reflux ratio in column C1, there are no clear relationships

between any other two variables. Although there may be a
similar trend for distillate flow rate and molar reflux ratio in
column C2, the search space is not large enough to show the
complete relation (but the current search space suffices to
find the Pareto front).
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5.4. Hybrid Dividing Wall Column (H-DWC) structure

Fig. 11a shows the scatter plot of the distribution of all the
feasible simulations in terms of CAPEX and OPEX for the H-
DWC structure. It can be seen that the overall shape of the
distribution is also droplet-like. As for the other structures,
the CAPEX is strongly correlated with the total membrane
area, thus the same finding as in Section 5.3, where there will
always be a design which can yield a low OPEX ($1.7My™)
regardless of the membrane design, can also be found for this
structure. Fig. 11b shows that the CAPEX and OPEX are con-
centrated in the range of $7M to $10M and $1.9My™" to
$2.4My?, respectively.

Fig. 11c shows that the total membrane area has a strong
(i.e., R? = 0.9356) positive correlation with CAPEX, and Fig. 11d
shows that there is a weak (i.e., R* = 0.0841) negative corre-
lation between the bottom flow rate of column C1 and
CAPEX. There is no clear correlation between total mem-
brane area and OPEX, and similar shapes and distribution of
the simulations in Fig. 1la and e were discussed in
Section 5.1.

The reflux ratio of column C2 shows a moderately positive
correlation with OPEX (see Fig. 11f) and, unlike the relatively
flat bottom line (i.e., the edge of the dark/blue points) of the
OPEX in the other designs, the bottom line of the OPEX for H-
DWC increases linearly after about 1.5 mol mol~*, however, it
is relatively flat before that. The reason for this is not
straightforward, even with the help of the correlogram
(Fig. 12). Although the variable is named as the reflux ratio of
column C2, it is actually the reflux ratio for the whole column
(recall that H-DWC is a single column with one condenser
and two reboilers but is modelled as a Petlyuk structure with
two columns). Thus, the variables for the H-DWC structure
may have even stronger interactions than the D-P-D struc-
ture. It should be noted that the R? value for the reflux ratio of
column C2 is much higher than the R? values of the variable
that has a stronger correlation with OPEX in the other
structures (i.e., the variables presented in Figs. 5f, 7f and 9f).

From Fig. 12 it can be seen that some of the optimisation
variables are correlated. As the bottom flow rate of column
C1 increases (first column plots), the minimum sideflow of
column C2 (i.e., the liquid thermal coupling stream flow rate
back into column C1, see Fig. 2d) required for the simulation
to become on-spec increases linearly (as shown by the well-
defined line between the off-spec and on-spec simulations).
This is expected as the feed flow rate into column C1 is fixed,
and an increase in the bottom flow rate means that the other
inlet stream to column C1, which is the side stream from
column C2 (i.e., the liquid thermal coupling stream), will in-
crease for the mass balance to be closed. It should also be
noted that the sideflow from column C2 into column C1
serves as the reflux flow of column C1. Thus it is not sur-
prising to see that the bottom flow rate in column C1 and the
minimum sideflow from column C2 have a strong correla-
tion, as seen in the distillate flow rate and reflux ratio pairs
for the other structures.

As the bottom flow rate of column C1 increases, in gen-
eral, the total membrane area required for an on-spec si-
mulation to happen decreases (Fig. 12, bottom left plot). The
bottom of column C1 removes the heavy component
(ethanol) from the system, so a larger bottom flow rate in
column C1 means less membrane area is required to remove
the heavy component. The same reason can be applied to
explain the decrease in the minimum total membrane area

required as the sideflow of column C2 increases (i.e., an in-
crease in sideflow of column C2 increases the bottom flow
rate of column C1, thus decreasing the total membrane area
required). Other than that, the bottom flow rate of column
C1, sideflow of column C2, and distillate flow rate of column
C2 are correlated to a certain degree, and this is because they
are directly involved in the overall mass balance, which must
be conserved.

It is not surprising that most of the variables in the H-
DWC structure are correlated, as the H-DWC itself is a highly
integrated design, and it is therefore expected that there are
many interactions between the optimisation variables. It can
also be seen that there is not a definite value for any of the
variables for the simulations to be off-spec or on-spec.
However, the distribution of the on-spec simulations for the
bottom flow rate of column C1 is skewed towards smaller
values. In comparison, the sideflow and distillate flow rate of
column C2 are skewed towards larger values, meaning that
there is a higher chance to obtain an on-spec simulation at a
small C1 bottom flow rate and large C2 sideflow and distillate
flow rate compared to large C1 bottom flow rate and small C2
sideflow and distillate flow rate. This finding makes sense as
for a small bottom flow rate of C1, through mass balances, a
higher vapour flow from C1 to C2 is expected and a larger
sideflow of C2 is required to establish the vapour-liquid
equilibrium. Also, a small bottom flow rate of C1 means more
heavy products need to leave the system from the membrane
system leading to a larger distillate flow rate of C2. As for the
total membrane area, the on-spec simulations are normally
distributed around 800 m?. Finally, there is a minimum re-
quired total membrane area of 500 m? to meet the specifica-
tions.

5.5. Overall comparison

In previous subsections, the various hybrid structures were
considered and discussed individually. Next, their perfor-
mance will be compared based on their respective Pareto
fronts and modifications. A few fitting equations, such as
second to fourth order polynomial, exponential, and loga-
rithmic equations are tested. It was found that the second
order polynomial fits all the Pareto fronts with a generally
good R? value (R?> 0.85) and the fittings also describe the
shape of the scatter plot well, thus the second order poly-
nomial is chosen to describe the relationship between OPEX
and CAPEX for the four different structures. Although higher
order polynomials may show a higher R? value in some of the
cases, higher order polynomials are not chosen as they show
oscillations in the fitting which is not what the scatter plot
shows.

Fig. 13a shows that the OPEX is negatively correlated with
the CAPEX for all structures. In other words, as the CAPEX
goes up, then as expected the OPEX goes down, although to a
varying degree depending on the structure. For the D-P
structure, the optimal designs (all simulations on the Pareto
front are treated equally) have close CAPEX and OPEX ranges.
The other structures show the opposite behaviour, where the
optimal designs have a larger range of CAPEX and OPEX,
meaning that to reduce either OPEX or CAPEX slightly, a fairly
large increase is required in the other cost. The D-P-D and H-
DWC structures have similar Pareto fronts, which makes
sense as they have similar operating principles. The D-P-D
and H-DWC structures can yield a design with relatively low
OPEX and CAPEX, while the P-D structure is the least
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Fig. 12 - Hybrid dividing wall column (H-DWGC) structure: Correlogram showing the relationships between the main

optimisation variables.

economically attractive. This finding is also reflected in the
single objective optimisation with total annualised cost
(TAC) as the objective function in Section 3.

5.5.1. Impact of plant life

Since TAC is defined as the summation of OPEX and an-
nualised CAPEX, the Pareto front of each structure can be
transferred into a TAC plot with the x-axis as the plant life
and the y-axis as the TAC. For each plant life, the Pareto front
can be re-generated with CAPEX divided by the plant life
while the OPEX remains fixed. It should be noted that the
range of CAPEX considered in each structure depends on
their respective minimum and maximum CAPEX as in-
dicated in Fig. 13a (e.g., the range of CAPEX considered for P-
D structure is from about $9.5M to $12M). Then, the
minimum TAC for the specific plant life can be found by
summing the x and y values for every point and choosing the
minimum value to represent the minimum TAC.

The TAC plot shown in Fig. 13b indicates that the D-P-D
and H-DWC structures always have similar TAC, consistently
lower than the P-D and D-P structures. The D-P structure
initially (plant life less or equal than two years) has similar

TAC to that of the P-D structure, but both are significantly
more expensive than the other two designs (D-P-D and H-
DWC). With increasing plant life, the contribution of CAPEX
to TAC is reduced, which leads to a close TAC for all struc-
tures, particularly for the D-P, D-P-D and H-DWC structures.

5.6. Discussion

To sum up, considering the findings from both single-objec-
tive and multi-objective optimisation studies, the D-P-D and
H-DWC structures, whose membrane systems are used only
to help cross the composition of the azeotropic mixture to
the other side of the azeotropic point, is economically su-
perior to the D-P and P-D structures. This is because using
the membrane to only help cross the azeotropic point can
significantly reduce the need for the membrane, which is
beneficial unless the membrane cost is very low. From the
multi-objective optimisation study, it can be deduced that
the membrane system is the main contributor to the CAPEX
in all the structures, no matter the design.

In terms of energy consumption, the D-P-D and H-DWC
structures do not show a saving in energy consumption
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when compared to the D-P structure. In the multi-objective
optimisations, the Pareto fronts (see Fig. 13a) of the D-P-D
and H-DWC structures have a similar range of operating
costs, both higher than that of the D-P structure, which in-
dicates that the saving in TACs for the D-P-D and H-DWC
structures are mainly from reduced capital expenditure. This
finding is also reflected in Fig. 13b, where the differences in
TAC between the D-P, D-P-D, and H-DWC structures become
smaller with increasing plant life. In terms of TAC, the D-P-D
and H-DWC structures are preferred as they have similar
TACs which are always lower than the other two structures,
even with increasing plant life. Comparing the D-P-D and H-
DWC structures, the H-DWC structure may be preferred as it
only requires one column and one condenser. Therefore,
space saving may lead to further TAC saving as space is not
considered in the TAC in this work. However, the H-DWC
usually requires a taller distillation column, which may be a
potential limitation. It should be noted that the above sug-
gestions are only made based on the cost, and factors such as
controllability or safety should also be considered for a more
comprehensive comparison.

It should be noted that the D-P-D and H-DWC structures
considered in this work are limited to specific azeotropic
mixtures where on both side of the azeotropic point, dis-
tillation could be used for separation and for minimum boiling
azeotropes. For a maximum boiling azeotropic mixture, the
dividing wall in the H-DWC structure would be extended
from the middle to the top, and other designs will be sig-
nificantly affected as well.

The optimal designs are also sensitive to the feed com-
position (e.g., for a high molar composition (e.g., 0.9 mol mol™)
of ethyl acetate, a single membrane system may be pre-
ferred) and to membrane properties (e.g., which component
will permeate the most). It is therefore difficult to make a
general conclusion for different cases. However, the case
studies show that the D-P-D and H-DWC structures can in
fact reduce the needs of required membrane area

significantly, at the expense of higher energy requirement in
the distillation system, when compared to the D-P and P-D
structures. It is advised to always design, optimise and
compare different hybrid distillation-pervaporation pro-
cesses before making any decisions.

6. Conclusion

This work compared three commonly seen hybrid distilla-
tion-pervaporation structures for the separation of azeo-
tropic systems: distillation followed by pervaporation (D-P),
pervaporation followed by distillation (P-D), and distillation
followed by pervaporation and then by distillation (D-P-D).
This study also considers a hybrid dividing wall column (H-
DWC), which is integrated from the D-P-D structure with the
dividing wall extending to the bottom of the column, i.e.
combining two columns into one shell.

A single-objective optimisation to minimise the total an-
nualised cost (TAC), and a multi-objective optimisation to
minimise both capital cost (CAPEX) and operating cost
(OPEX), were performed considering a binary minimum
boiling azeotropic mixture as the case study. The single-ob-
jective optimisation results showed that the D-P-D structure
has the least TAC followed closely by H-DWC (2% higher),
then D-P (12% higher) and finally P-D structure (45% higher).
The lower TAC for the D-P-D and H-DWC structures is mainly
due to the smaller membrane system required when com-
pared to the other two structures, as these structures use the
pervaporation unit just to cross the azeotropic point and not
for product purification.

The multi-objective optimisation results indicated that,
for this case study, the membrane system always contributes
the most to the CAPEX, regardless of the structure.
Furthermore, the relationship between TAC and plant life
indicated that the D-P-D and H-DWC structures consistently
have similar TAC, and the difference between these two
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structures and the others becomes smaller with increasing
plant life.

Overall, although the H-DWC structure is slightly more
expensive than the D-P-D structure, H-DWC may be attrac-
tive if space is limited as the space/land cost is not con-
sidered in this work. Future work will be focused on the
application of the H-DWC structure for multi-component
systems (e.g., ternary mixtures) and on heat integration de-
signs to further explore the potential of the H-DWC structure.

Declaration of Competing Interest

The authors declare that they have no known competing fi-
nancial interests or personal relationships that could have
appeared to influence the work reported in this paper.

Acknowledgements

D. N. Chia would like to acknowledge the Malaysian
Government for her scholarship through Jabatan
Perkhidmatan Awam (JPA) Malaysia.

Appendix A. Membrane model equations

This section contains the assumptions and modelling equa-
tions for the pervaporation membrane model used in this
work. As the purpose of this study is to investigate the op-
timal designs of different hybrid structures relative to each
other, a steady-state model for the membrane will suffice.
The main assumptions made for the pervaporation mem-
brane are:

1. The flow pattern in the membrane is co-current flow (Li
et al.,, 2019).

2. Feed is fed into the membrane at the tube side, while
permeate is collected from the shell side.

3. Ideal gas state on the permeate side.

4. No pressure drop at the permeate side.

5. Temperatures of the retentate and permeate in a mem-
brane fragment are the same, i.e., the temperature is

constant in a membrane fragment (Luyben, 2009; Liu et al.,
2022; Zhao et al., 2022).

Instead of modelling the membrane as a distributed
model, a lumped model where a membrane module is di-
vided into smaller membrane fragments is used to simulate
the mass and energy distribution across the membrane. This
lumped model approach is widely reported in the literature
and is reported to be sufficient for the modelling of a mem-
brane model (Luyben, 2009; Li et al., 2019; Meng et al., 2020;
Wu et al., 2020). Through validation with experimental
(Tsuyumoto et al., 1997) and simulation (Marriott, 2001) re-
sults, it was found that dividing a membrane module into
nine membrane fragments, i.e., Npqq. =9, is sufficient to de-
scribe the membrane (see model validation results in
Table A1).

The membrane used in this work are taken from Marriott
and Sorensen (2003a) and Tsuyumoto et al. (1997). The details
of the membrane are shown in Table A2. It should be noted
that in Tsuyumoto et al. (1997), the membrane area of 6 m? is
the effective membrane area at about 75% efficiency, how-
ever, Marriott and Sorensen (2003a) took the 6 m? as the 100%
effective membrane area (which is also used in this work).
Therefore, instead of directly taking the fibre radius from
Tsuyumoto et al. (1997), Marriott and Sorensen (2003a) (and
this work) recalculated the fibre radius from 6 m? and 3800
fibres:

Amem = (2 7 Tfibre Lmem)Nﬁbre
(Amem/Nﬁbve)
2 7 Liem
6/3800
27rx1
= 251x10%*m (A1)

Tfipre =

In the following equations, the subscripts i denotes the
component i (or specifically w for water and e for ethanol),
feed denotes the feed side, ret denotes the retentate side, perm
denotes the permeate side, and mem denotes the membrane
layer, and the term Ncm, denotes the number of compo-
nents.

Table A1 - Comparison of the results obtained from the lumped model in this work with experimental (

) and the 1D and 2D distributed model (

) for two case studies with different feed conditions.

Feed flow rate (kgh™) 44.8 248.5
Feed ethanol composition (kg kg™?) 0.940 0.968
Tsuyumoto et al. (1997) 0.972 0.974
Marriott (2001) 1D model 0.975 0.974
Marriott (2001) 2D model 0.973 0.974
This work, lumped model 0.970 0.973

Table A2 - Details of the pervaporation membrane used ( ).

Items Values Units
Membrane thickness, § 1.5 pm
Membrane length, Lyem 1 m
Membrane area, Amem” 6 m?
Shell radius, Tspen (inner) 48.7 mm
Fibre radius, Tfpre (inner)’ 0.251 mm
Number of fibres, Nfpre 3800 -

*100% efficient membrane area t Recalculated using Equation (A1).
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A.1Membrane fluxes

One of the most important equations in a membrane model
is the flux equation. Each membrane has its own flux equa-
tion, and this work reports only the flux equation used in the
case study for the separation of an ethanol/water mixture,
which is obtained from Tsuyumoto et al. (1997) for a poly-
acrylonitrile ultrafiltration hollow-fibre membrane PAN-BS5.
The necessary information for the membrane can be found
in Table A2. A solution-diffusion approach is used to for-
mulate the equation for the flux of water through the
membrane, Jy (g m~2 h™), which is given by:

Jw =

Dwo Kew Pperm Xperm,w ’
5 Yfeed,w Xfeed,w — psat
w

2
Duo K2 kd Pperm Xperm,w
’ (W Ofeea Xeaw)® = | = et
(A2)

where the term Dy, is the diffusion coefficient of water at
infinite dilution, K., is the sorption coefficient, kg, is a nu-
merical constant, § is the membrane thickness, y is the ac-
tivity coefficient, x is the molar composition, P is the
pressure, and P°* is the saturated vapour pressure. y and P**
are  obtained from  Multiflash (KBC  Advanced
Technologies, 2015).

The equation for the flux of ethanol through the mem-
brane, J, (gm~2 h™), is described with a simple equation:

Je = Lp Wreed, e (Pfeed - Pperm) (A3)

where the subscripts feed denotes the feed side, perm denotes
the permeate side, and e denotes ethanol, and the terms L, is
the permeability constant which is membrane-dependent, o
is the mass fraction, and P is the pressure. Tsuyumoto et al.
(1997) claimed that an average value, L, =5x 107> gm™2 h™*
torr™%, could be used for the membrane used in this work.

The terms (Dyo Kew) and (Duwo K2, kaw/2) in the water flux
equation (Eq. (A2)) are given by the equations below
(Tsuyumoto et al., 1997):

Dyo Kew = 5.24 x 1011exp(_1150]
Tfeed (A4)
Duwo K2, kaw — 223exp —3390
2 Tfeea (AS)

where Tfeq (K) is the temperature at the feed side.

A.1.1. Modifications to membrane fluxes

The mixture considered in the literature is ethanol-water
mixture, but the mixture considered in this work is the ethyl
acetate-ethanol mixture. However, due to lack of publicly
available data on membranes for separation of ethyl acetate-
ethanol mixtures, the membrane flux equations described in
Tsuyumoto et al. (1997) for ethanol-water separation are
modified for the separation of ethyl acetate-ethanol mixture
according to the boiling points of the components as follows:

® The ethanol flux through membrane in this work uses the
water flux through membrane in Tsuyumoto et al. (1997)
(Eq. (A2)).

® The ethyl acetate flux through membrane in this work
uses the ethanol flux through membrane in Tsuyumoto
et al. (1997) (Eq. (A3)).

This assumption is reasonable because the aim of this work is
to study the feasibility and performances of different hybrid
structures relative to each other, and not to generate accurate
results for the specific membrane using this mixture, and
assumption also used by Barakat (2006).

A.2Molar balance equations

The component molar balances at the retentate and
permeate sides are given by:

dxret,i — Ffeed Xfeed,i — Fret Xret,i — Aﬁbre Ji Vi= 1, ~--,Ncomp

dt Myt (A6)
dx i —Ferm X i+ A i .

perm,i _ perm “perm,i \fibre Ji vi=1, .“,Ncomp

dt Mperm (A7)

where x is the molar composition, F is the molar flow rate,
Afre is the surface area of the fibre, J is the flux, and M is the
molar holdup. The surface area of the fibre is calculated by:

Amem

Afipre =
fibre Nfibre (AS)

where Aem is the membrane area.
Then, under steady-state conditions:

Ffeed Xfeed,i = Lret Xret,i + Afibre Ji (A9)

Foerm Xperm,i = Afibre Ji (A10)

A.3Pressure drop equations

In this work, the permeate side pressure is maintained at 400 Pa
(Tsuyumoto et al.,, 1997), and it is assumed that the pressure
drop across the membrane at the permeate side is negligible
(Assumption 4). For the retentate side, which is at the fibre side
(Assumption 2), one of the most commonly used equations to
calculate the pressure drop is the Hagen-Poiseuille equation for
laminar flow (Pan, 1986; Lipski and Co'té, 1990; Marriott, 2001;
Kookos, 2002; Katoh et al.,, 2011; Li et al., 2019):

8 Hfibre Linem Vret

APt =

T fbre (A11)

where the subscript fibre denotes the fibre side, the terms AP is
the pressure change/drop, p is the dynamic viscosity of the li-
quid, Lyen is the length of the membrane module, V is the vo-
lumetric flow rate, and r is the radius.

The validity of the Hagen-Poiseuille equation can be ex-
amined with the Reynolds number, Re, where if Re < 2100,
then the flow in the fibre can be considered to be laminar
(Lipski and Co™té, 1990).

A.4Energy balance equations

There are many reports in the literature of energy balance
equations (Marriott, 2001; Hafrat et al., 2016; Lee et al., 2016;
Meng et al., 2020; Babaie and Nasr Esfahany, 2020), and these
questions are also used in this work, where:

dhret _ F feed hfeed — Fet hret - F perm hperm

dt Met

(A12)

where h is the specific enthalpy, F is the molar flow rate, and
M is the molar holdup.

Under steady-state conditions, Eq. (A12) can be simpli-
fied to:
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I:)‘eed hfeed = Ret hvet + Fperm hperrn (A13)

The specific enthalpy is obtained from Multiflash (KBC
Advanced Technologies, 2015), where it is a function of the
temperature, pressure, and composition of the retentate
side, h =f(T, P, x).

B. Costing equations

This section presents the equations used to calculate the
costs of the units (other than for the distillation column,
which can be found in Duanmu et al. (2022b)) used in this
work. The equations for the membrane are taken from
Gonzalez and Ortiz (2002), while the equations for the other
units are obtained from Sinnott and Towler (2020). The
parameters used in calculating capital, operating, and total
annualised costs are shown in Table B1.

In general, the capital cost (CAPEX) and operating cost
(OPEX) are used to calculate the total annualised cost (TAC)
with the following equation:

TAC — _CAPEX

= —————— + OPEX
PlantLife *

(B1)
where the CAPEX and OPEX take into account all the units
and utilities, respectively. The plant life and annual oper-
ating hours are assumed to be eight years and 8400hy™,
respectively, in the case studies.

B.1.Membrane

The costs of the pervaporation membrane are taken from
Gonzalez and Ortiz (2002), which are based on the prices in
2007. Therefore, appropriate scaling using the Chemical En-
gineering Plant Cost Index (CEPCI) should be applied. The
capital cost (CAPEX) of the membrane can be calculated by
(Gonzalez and Ortiz, 2002):

CAPEXyem = fLang Pricemem Atot,mem (B2)

where fiqqy is the Lang factor (see Table B1), Pricemem
=$1063m~2 is the price per area of the membrane, and
Atot,mem 1S the total membrane area required.

The membrane replacement cost, which is calculated as
part of the operating cost (OPEX), can be calculated from
(Gonzélez and Ortiz, 2002):

PricerepL Atot, mem

tmem (B3)
where Price,, is the membrane replacement cost per area
per year in 2002 (Price,e,;. = $200m 2 y™") taken from Gonzélez
and Ortiz (2002) and tyem is the membrane lifetime which is
assumed to be two years (Gonzalez and Ortiz, 2002).

OPEXpem =

B.2 Heaters and coolers

The heaters and coolers (including the membrane network
heaters) are considered as U-tube shell and tube heat ex-
changers. The CAPEX of the heat exchanger can then be
calculated (Sinnott and Towler, 2020):

CAPEX4EX = figng fin (24000 + 46 Alify) (B4)
where fiang and f, are the Lang factor and material factor,

respectively (see Table B1), and Appx (m?) is the heat ex-
changer require calculated by (Luyben, 2013):

U AT (B5)

where Quex is the heating/cooling duty, and U and AT are the
heat transfer coefficient and typical temperature difference,
respectively (see Table B1).

The operating cost for the heat exchanger (heaters or
coolers) can be calculated by:

OPEXyex = Priceys Quex (B6)

where Price; is the price of the (heating or cooling) utility
used, and the type of the utility is decided automatically by

Table B1 - Values and references of the parameters used for the calculation of capital, operating, and total annualised

costs.

Items Values Units References

Chemical Engineering Plant Cost Index (CEPCI)

2002 396 - Turton et al. (2012)

2007 509.7 - Sinnott and Towler (2020)
2019 607.5 = Jenkins (2020)

Equipment Material

Material Stainless steel - Sinnott and Towler (2020)
Material factor, f,, (stainless steel) 1.3 - Sinnott and Towler (2020)
Lang Factor, fiang

Distillation columns, pumps 4 - Sinnott and Towler (2020)
Condensers, reboilers, heat exchangers 3.5 - Sinnott and Towler (2020)
Membranes 3.36 - Gonzalez and Ortiz (2002)
Heat Exchanger Sizing Parameter

Temperature difference, AT 10 K Tsatse et al. (2021)

Heat transfer coefficient, U 0.750 RWm=2K* Tsatse et al. (2021)

Utility Costs

Low pressure (LP) steam 14.05 $GJ7t Turton et al. (2012)
Medium pressure (MP) steam 14.83 $G7t Turton et al. (2012)

High pressure (HP) steam 17.70 $G° Turton et al. (2012)
Cooling water, inlet at 30°C 0.354 $G* Turton et al. (2012)
Chilled water, inlet at 5°C 443 $G7t Turton et al. (2012)
Refrigerant (- 20°C) 7.89 $Gt Turton et al. (2012)
Refrigerant (- 50°C) 13.11 $GJ7t Turton et al. (2012)
Electricity 16.8 $G* Turton et al. (2012)
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the optimiser depending on the outlet temperatures of the
heat exchangers.

B.3Pumps

The cost equation for the pump is taken from Sinnott and
Towler (2020):

CAPEXpump = f,, (6900 + 206 V°%) (87)

where f,, is the material factor (see Table B1) and V (L s7%) is
the inlet volumetric flow rate.
The operating cost of the pump can be calculated by:

OPEXpump = Pricegp.. R pump (B8)

where Price,. is the price of the electricity (see Table B1) and
Poump (kW) is the power required by the pump.
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