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Nomenclature

Roman variables

a TAN value of the pyrolysis oil, mg KOH/g oil

a.r. as received feedstock basis

d.b. on a dry feedstock basis

df dilution factor, the ratio of added THF to pumed bio-oil
L.O.l. loss of ignition (burning the char and cgstlcoke with air)
M mass, kg

MW molecular weight, g/mol

P atmospheric pressure, kPa

R universal gas constant, 8.314 L kPa thigi*

S seconds

T temperature, °C

Ty product gas temperature, K

trun experimental run time, min.

U superficial gas velocity, m/s

Ut minimum fluidization velocity, m/s

vol.% volume percentage

vol%; volume percentage of non-condensable gas compone@C readout
VOI%xotal total volume percentage of detectable non-condeagmses, u-GC readout
w water content of the pyrolysis oil, g of waterfdiquid
WHSV weight hourly space velocity;h

wt.% weight percentage, g/g

X yield of a non-condensable gas compowvid on feed (a.r.)
Y yield, wt.% on feed (a.r.)

Greek symbols

Dy avg average gas flow rate, L/h

(O inert gas flow rate, L/h

Dpine flow rate of pine wood, g/h

T residence time, s

Subscripts

[ a single component in a group of components

feed biomass fed to the system during a run

liquid the liquid produced during a run

organicliquid the organic fraction of produced liquid duringua r

water the water fraction of produced liquid during a run



gas
char

system carbon

solid mix
char in mix
lig.mix.

THF in lig.mix.

hc

hc,i

hc,f
exsituch, i
ex situ cb, f
moisture, hc
kvs

csS

sc

filtrate

hc, coke
kvs, coke

Cs, coke

sc, coke
filtrate, coke
o

pine

bed material
vapours
bio-oil
ESP,out
ESP,in
gc,out

gc,in

cf,out

cf,in

fs

solids,i

solids,f

the gas produced during a run

the char produced during a run

the system carbon produced during a run

the mixture of heat carrier + char after sieving
char in the mixture of heat carrier + char
produced liquid + added THF

THF in the liquid mixture

heat carrier

initial (amount of) heat carrier that is loadedhe heat carrier hopper
final (amount of) heat carrier that is loaded te lieat carrier hopper
initial ex situ catalyst blend

final ex situ catalyst blend

moisture of heat carrier

collected solids in the knock-out vessel

collected solids in cyclone

spent catalyst

filtered solids out of pyrolysis oil

coke in the heat carrier

coke in the collected knock-out vessel solids
coke in the collected cyclone solids

coke in the spent catalyst sample

coke in the filtered solid out of pyrolysis oil
standard deviation

biomass feedstock used

sand or sand-catalyst mixture introduced to thetor
generated pyrolysis vapours

liquid product (including generated water)
electrostatic precipitator subsequent to the expt
electrostatic precipitator prior to the experiment
glass spiral condenser subsequent to the expdrimen
glass spiral condenser prior to the experiment
cotton filter subsequent to the experiment

cotton filter prior to the experiment

filtrate solids

carbonaceous soligsum of char, heterogeneous coke, and system
deposits), before L.O.I. (loss on ignition)

carbonaceous soligsum of char, heterogeneous coke, and system
deposits), after L.O.l. (loss on ignition)
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Abstract

Utilization of biomass offers a potential to sustthie current petro-chemical economy for the
production of chemicals and (transportation) fueidasis of renewable resources. Crude bio-
oil derived from fast pyrolysis of lignocellulosimomass is a mixture of water (@30 wt.%)
and various oxygen containing organic compoundg fitesence of oxygen in bio-oilsa(
35-40wt.%) is commonly believed to be the origin of probtecaused by its high water
content (15-30 %), corrosiveness (pH of 2-3), nadét low heating value compared to fossil
fuels ca. 17 MJ/kg), poor volatility, and high viscosity (H000 cP at 40 °C). However, not
only the level of oxygen in the bio-oil is too higtut also the way it exists (functionality) is a
part of the problem. Improving the quality of the-bils, whether or not in combination with
a certain degree of oxygen removal, would includeekective transformation of certain
oxygen functionalities such as acids and aldehyds ‘desired’ or acceptable ones like
alcohols, phenols, and ethers. Application of legeneous catalysis in fast pyrolysi.(i
catalytic fast pyrolysis; CFP) may lead to a liquibduct {.e. catalytic fast pyrolysis oil,
CFP-oil) with an improved quality compared to tbatcrude bio-oil. Here, the improvement
in bio-oil quality refers to the production of esth high yields of transportation fuel
compounds€g. aromatics, olefins) and specialty chemicalg.(phenolics), or just a drop-in
refinery feedstock to be blended with the feedastre of existing petroleum refineries. While
the literature on catalytic fast pyrolysis of bisaamainly focussed on catalyst screening
rapidly expanding, there is an urgent need fortthaslation of laboratory results to viable
process concepts and bench/pilot plant trials. Twmyewith the development of efficient
catalysts, the design and the intensification efglocess with efficient heat integration are of
significant importance in the catalytic conversiminlignocellulosic biomass to the targeted
liquid product. The present thesis discusses thalyt@ fast pyrolysis of lignocellulosic
biomass in a process oriented way that may iniaaseful process technology development
in the near future. The final goal is to come uphwiecommendations and suggestions on
how to realize this technique at a commercial/itdials scale. That requires a better
understanding of the precise effects of the essgmibcess parametersd. processing mode;
in- or ex situ) and design elementsg( reactor type, catalyst type) on the one hand, and
definitions and outcomes of possible obstackg Guccessive regeneration of the catalyst,
effect of biomass ash) on the other.

In this work, two types of continuously operatedtétytic) fast pyrolysis reactors were used,
viz. an auger reactor and a mechanically stirred badtioe In all experiments performed in
both setups, pine wood with a particle size rangé t 2 mm was pyrolyzed at a constant
reactor temperature of 500 °C. In the auger reaftst the effect of the operation mode on
the product yields and compositions has been igagstl while using a single type of
heterogeneous ZSM-5 based acidic catalyst. Two atiper modes were tested. In situ
operation includes the mixing of biomass and catalyside a single reactor, while ex situ
refers to catalytic treatment of the pyrolysis vaoin a secondary reactor. A second study
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was concerned with the screening of various he&regus catalysts (and their metal doped
counterparts) in in situ operation. In all expenmse the presence of catalysts led to the
production of additional water, coke and gased@tekpense of the liquid organics and char.
The overall performance of in situ catalysis imsrof oil quality was considerably better

than that of ex situ catalysis; more aromatics @mehols were produced in the case of in situ
operation. That may be caused by different vap@sidence times and vapour-catalyst
contact times. Among all eight catalysts teste@, dlidic catalyst containing some redox
active metal, the basic catalyst with a mixturetwd metal oxides (calcined), and a metal
oxide doped gamma-alumina catalyst (calcined) viened to be the best performing ones,

based on both the deoxygenation requirements angdrtdduction of desirable compounds in

high yields.

In the mechanically stirred bed reactor, we studijedhe effect of a repeated catalyst
regeneration (eight cycles in total), aimdthe effects of the pine wood ash on the yield$ an
composition of the products. In all catalytic expents, a single type of a ZSM-5 based
catalyst was used in situ. Along the reaction/regation cycles, trends in pyrolysis product
yields converging to that of non-catalytic levelererobserved. This revealed that the activity,
and thus the influence of the catalyst slowly desdi, which was confirmed by a BET surface
area reduction of 63 %. Ash concentrations as weaa3 wt.% relative to the amount of pine
wood fed, anata. 0.002wt.% relative to the amount of bed material, were tbaafficient to
affect the yield and composition of thd#P products unfavourably.

Finally, the technical and operational barriers for the enpmntation of catalytic fast
pyrolysis technology are discussed while focusimgtioe process modes and parameters,
economical use of the primary and secondary pradactd heat integration. Some process
alternatives for an efficient CFP operation aregested as well.

Research has, until now, been focused mainly agesang and small-scale testing of various
catalysts. One challenge in developing CFP of bgsms the design and large scale
production of such catalysts to enable testingaintiouously operated, bench and pilot scale
installations. FCC type of catalysts are the onlitable ones commercially available. But
they are developed especially for use in a risactog and short contact times (differing
significantly from typical biomass devolatilizatioiimes). The main problem in CFP of
biomass was found to be the presence of the bioorageated alkaline ash which eventually
poisons any catalyst in case of direct contach bommercial process, a solution may be to
separate the biomass fast pyrolysis from the datalgeatment of the vapours.g ex situ
processing mode) where the physical contact betweehiomass minerals and the catalyst is
excluded. Even though this requires significantpss adjustments, ex-situ processing allows
the catalyst to be re-used in a much larger nurobegaction/regeneration cycles than in case
of in situ operation.
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Abstract

Het gebruik van biomassa biedt het potentieel omhd&lige petrochemie-gebaseerde
economie te ondersteunen met hernieuwbare grofeistebor de productie van chemicalién
en transportbrandstoffen. Ruwe bio-olie, geprodute@oor snelle pyrolyse van
lignocellulose biomassa, is een mengsel van wdter30 gew.%) en tal van zuurstof
bevattende organische verbindingen. De aanwezighaidzuurstof in bio-olie (ong. 35-40
gew.%) wordt algemeen aangenomen de oorzaak te zijrveeschillende problemen in de
toepassing ervan, zoals hoog watergehalte (15e8®%6), corrosiviteit (pH 2 tot 3), redelijk
lage stookwaarde ofg. 17 MJ/Kg) in vergelijking met fossiele brandstaoffelage
vluchtigheid en hoge viscositeit (35 tot 1000 cf4bi °C). Echter, niet alleen de concentratie
aan zuurstof in bio-olie is te hoog, ook de mamiaarop deze zuurstof gebonden is, ligt aan
de basis van de aangehaalde problemen. Het vexbetan de kwaliteit van bio-olién, al dan
niet in combinatie met een zekere graad van zuwesigijdering, zou een selectieve
transformatie van zekere, ongewenste zuurstof-mmaliteiten (zoals zuren en aldehyde) in
‘gewenste’ (zoals alcoholen, fenolen en ethers) temoanhouden. De toepassing van
heterogene katalyse in snelle pyrolyse (katalygsshelle pyrolyse) kan leiden tot een
vloeibaar product met verbeterde eigenschappeengelijking met klassieke, ruwe bio-olie.
Het verbeteren van de kwaliteit van de bio-oliewigst hier naar ofwel de productie van
transportbrandstoffen (alifaten en aromaten) ercligmicalién en dit in hoge opbrengsten,
ofwel naar de productie van een voeding dewelke wanden gemengd met bestaande
voedingen in de klassieke petrochemische raffinpde literatuur inzake snelle katalytische
pyrolyse, voornamelijk inzake de screening van wekatalysatoren, breidt snel uit. Echter,
er is een noodzaak aan de vertaling van de resalta¢éhaald op laboschaal naar piloot en
volle schaal systemen. Tezamen met de ontwikkeling efficiénte katalysatoren, het
ontwerp en de intensificatie van het proces, alst®kfficiénte benutting van restwarmte zijn
belangrijke aandachtspunten in de ontwikkeling kamalytische snelle pyrolysesystemen
voor de productie van het gewenste viloeibaar proddit doctoraal proefschrift behandelt de
snelle katalytische pyrolyse van lignocellulosehenae biomassa vanuit een procesmatige
zienswijze met de bedoeling om nuttige technolagitwikkeling te ondersteunen in de
nabije toekomst. Het ultieme doel is het formulevan aanbevelingen en suggesties om deze
technologie toe te passen op commerciéle en indigsschaal. Dit noodzaakt enerzijds een
beter begrip van de effecten van procesparametera/¢rkingsmodus; in-situ of ex-situ) en
het ontwerp (reactor, katalysator), en anderzijdsidgntificatie van potentiéle problemen
(v.b. herhaaldelijk regenereren van de katalysdtet effect van as in de biomassa) alsook de
eruit voortvloeiende gevolgen.

In dit experimenteel onderzoek werden twee contsnadle pyrolysereactoren gebruikt, met
name een schroefreactor en een geroerde bed re¥owr alle uitgevoerde experimenten
werd dennenhout vermalen tot een deeltjesgroottelvéot 2 mm, gebruikt en werd deze
steeds gepyrolyseerd op een temperatuur van 50E&f3t werd het effect van katalyse-
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modus op de opbrengst en samenstelling van de meeoproducten, bestudeerd aan de hand
van de schroefreactor en dit met één enkel type2&M-5 gebaseerde zure katalysator. Twee
katalyse-modi werden getest: In-situ modus houdtande biomassa en de katalysator in de
reactor samen worden gemengde, terwijl in de ex+sibdus enkel de pyrolysedampen in
contact worden gebracht met een katalysator, em @ien aparte reactor. Vervolgens richtte
een tweede studie zich op het screenen van vdesael heterogene katalysatoren in de in-
situ modus. In alle experimenten werd er vastgeéstat de aanwezigheid van de katalysator
aanleiding gaf tot een meerproductie van watere @k permanente gassen en dit ten koste
van het vloeibaar product en kool. De algehelegoeréntie van in-situ katalysatoren, en dit
op basis van bio-olie kwaliteit, was aanzienlijkdredan deze van ex-situ katalyse. Er werden
meer fenolen en aromaten gevormd bij de in-sitalggémodus. Deze waarneming kan
verklaard worden aan de hand van verschillen inpdamblijftjden en damp-katalysator
contacttijden. Er werden acht katalysatoren geteasrvan de types behoorden tot een zure
katalysator gedopeerd met een specifiek redox imetaa basische katalysator met een
mengsel van twee metaaloxiden en een metaaloxitlykator aangebracht op gamma-
alumina. Uit deze reeks werd de metaaloxide op @arevonden als de best presterende, en
dit op basis van zuurstofverwijdering en de vormuagn gewenste componenten in de bio-
olie als criteria.

In de reactor op basis van een geroerd bed, weaclgereenvolgens bestudeerd: (1) het effect
van herhaaldelijke regeneratie van de katalys&ay(li in totaal) en (2) het effect van de
accumuleren biomassa-as op de opbrengst en sattiegsiean het vloeibaar product.
Telkens werden de experimenten uitgevoerd met é&el dype van ZSM-5 gebaseerde
katalysator en dit in de in-situ katalysemodus. rNede de katalysator verschillende
regeneratiecycli had doorlopen werd vastgesteldddabpbrengst van de pyrolyseproducten
convergeerde naar deze van een niet-gekatalysgestygeproces. Deze waarneming duidt
aan dat de activiteit van de katalysator gestaagineerde, wat ook worden vastgesteld door
een vermindering van het specifiek opperviak vakatalysator met 63%. Lage concentraties
van as, ongeveer minder dangdw.% (op basis van hoeveelheid gevoede biomassa) en
ongeveer 0.002)ew.% (op basis van massa aan bedmateriaal), werdetoevudle actief
bevonden om de opbrengst en de samenstelling vhioddie negatief te beinvioeden.

Tenslotte beéindigd deze scriptie met een uiteéngetvan en een discussie over de
implementatie van de katalytische snelle pyrolysghologie. Aandacht werd besteed aan de
proces-modi, procesparameters, het economischlvehdabruik van primaire en secundaire
pyrolyseproducten en het hergebruik van restwarrivterschillende alternatieven voor
efficiénte bedrijving van snelle katalytische pys# werden tevens besproken.

Het onderzoek binnen het domein van katalytiscledlesipyrolyse heeft zich tot op heden
voornamelijk gericht op het uitvoeren van kleindig®e of microreactor experimenten. Een
blijvende uitdaging binnen dit veld is de opschgliwan de productie van geschikte
katalysatoren om deze te kunnen testen in conpilaet en volle schaal installaties. Tot op
heden zijn enkel FCC-type katalysatoren de enige o dergelijike hoeveelheden

commercieel beschikbaar zijn. Echter deze uit deopleemie afkomstige katalysatoren zijn
specifiek ontworpen voor het gebruik in riser reactn dit met overeenkomstige, korte
contacttijden (en dewelke aanzienlijk verschilleanvde tijden benodigd om biomassa te
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vervliuchtigen in pyrolyse). Het hoofprobleem in &dgtische snelle pyrolyse werd
geidentificeerd als zijnde de aanwezigheid vangjeatkomstig van de biomassa en rijk aan
alkalimetalen. Deze as komt in contact met de is#abr en kan deze vervolgens deactiveren.
Een oplossing in een commercieel proces kan besiade scheiding van het pyrolyseproces
en de katalyse, met name door enkel de dampemiaaide brengen met een katalysator (ex
situ katalysemodus). Hierdoor wordt rechtstreekstaxt tussen de katalysatoren en de van
biomassa afkomstige as, vermeden. Hoewel dit gngle wijzigingen in de
procesuitvoering noodzaakt, zou het toepassen xasitle katalyse een aanzienlijk groter

aantal regeneratiecycli toelaten in vergelijkingtraen proces bedreven volgens de in-situ
katalysemodus.
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Chapter 1

General introduction

In this introduction, the general overview on world energy supply is given, followed by a
discussion regarding the (potential) role of biomass as a source for energy and fuels. Then, a
brief introduction into catalytic fast pyrolysis of biomass, a thermochemical process for
biomass conversion aiming to produce energy, (transportation) fuels, and chemicals, is
provided. Finally, the outline of the following chaptersis given.



1.1 General overview on world energy supply

The world’s total energy supply doubled over thst 40 years, and reached 13,371
MToe (million tonnes of oil equivalent) by 2012 [1Df this supply, 81.7 % of the total
energy is provided by fossil fuels, while nuclead aenewable energy sources provide 4.8 %
and 13.5 % of the total energy supply, respectijHlyThe growing need for energy can for a
large part be ascribed to the projected growthefworld population with 40 % in 2050 and
the related increase in the energy consumption/e6@ % between 2010 and 2050 [2]. The
energy policies that are largely based on the tigessil fuel resources have many adverse
bottom lines and aftereffects. In the past decatles, awareness of risks and harmful
consequences resulting from the intensive usessilfuels like coal (including peat and oll
shale), crude oil, and natural gas has increadeglniain concerns are [3]:

« dependency on fossil fuel supplying countries ihtigally unstable regions [4],

* insecurity of supply by a lack of diversificatiam&nergy resources,

« technical risks, such as oil rig explosions in ogea €.g. BP Deepwater Horizon
disaster in 2010), coal mine collapsss,,

e increasing carbon dioxide (GDemissions, an important perpetrator of global
warming,

» depletion of fossil fuel resources within a limiteehe period; the proven oil, natural
gas, and coal reserves are expected to last f@Hand 113 years, respectively [5],

» gradually rising energy prices due to dwindlingsibsesources; this forces industry
to diversify their energy input from a purely ecamo point of view.

By 2012, 68 % of the world’s total generated eleityr is from fossil resources [1].
Without the emission of greenhouse gases, thergliégican, indeed, be generated by nuclear
energy, as well. The share of nuclear energy ictedty production was calculated to be 11
%, by 2012. However, the world's present measuesdurces of uranium (used in nuclear
reactors) are projected to last for 90 years [@] #were is an ongoing debate regarding the use
of nuclear energy. The rising concerns regardirgdisposal of nuclear wastes and possible
nuclear disasters/radioactive incidents led toveeve of nuclear energy usage worldwide. The
recent catastrophe in Fukushima-Japan on 11 Mdth 8howed that a nuclear power plant
accident can have drastic consequences for theoanvent. Recently, Germany has decided
to shut down 17 nuclear reactors permanently, whieh18 % of the country's power needs.
Under Germany's Atomic Energy Act, the last nucleamer plant will be put out of service
by 2022 [7,8].

These direct and indirect adverse consequencdedeldth the use of fossil resources
and potential risks linked with the nuclear enelgiymulate countries to develop local
alternative energy programs from unconventionalreEal This leads the determination of
future energy strategies based on the developnferenewable energy technologies. These
include wind, tidal, solar, wave, hydro, geothermahd biomass [3]. The production of
energy (in the form of electricity) is possible lvill these renewable sources. However, next
to the energy production, the production of inda#l{r important petrochemical end-products
such as transportation fuels, polymers, specidignucals.etc. is important, as well. This is



exclusively possible with the use of biomass beeatiss the only renewable resource of
carbon. Hence, the development of renewable ertecdyologies including the utilization of
biomass is crucial for global sustainability.

1.2 Biomassasa sourcefor energy and fuels

The supply of renewable energy is one of the maadlenges that mankind will face
over the coming decades. In that respect, biomassoffer a renewable and sustainable
source of raw materials that can either lead tgptioeuction of biofuels and/or biochemicals.
The current usage of biomass-derived fuels togetlittr waste accounts for 12.4 % of the
total energy consumed in the world [1], but mositdé directly combusted in developing
countries to locally provide heat (cooking stovagd power. The bio-energy production
chain is relatively labour-intensive and may previtiany skilled and unskilled local jobs,
also in developing countries. If carefully managbothmass-derived energy could provide
several improvements in energy security and traadanices, by substituting imported fossil
fuels (at least partially) with domestic biomasee ' European Commission and various public
and private organizations believe that biomassthermproduction of fuels and chemicals, will
play a crucial role in meeting Europe’s “202020fgets. That is said, by the year 2020,
renewable energy sources should represent 20 %udpE’s final energy consumption,
greenhouse gas emissions should be reduced by 20d€nergy efficiency should increase
by 20 %, compared to 1990 levels [9]. Recently @h January 2014), the European
Commission put forward the 2030 energy and climaigets of a 40 % reduction in
greenhouse gas emissions (compared to 1990) dmra af 27 % renewables in final energy
consumption [10]. Moreover, the energy scenari&Gbéll predicts an increase of 2.5 to 3
times the current biomass usage in 2050 [2].

Recently, power to gas plants, based on the pramuof hydrogen via electrolysis has
gained interest [11]. The generated hydrogen cadireetly fed into the existing natural gas
grid, stored in caverns or tanks, used as fuelhfgdrogen vehicles, converted back into
electricity, or used in the chemical industry taoguwcee.g. ammonia. Alternatively, in a
further process step, the generated hydrogen cacobeerted into methane through the
addition of carbon dioxide, using the Sabatier pssc Eventually, this process relies on the
CO, which is mainly produced from biomass materialthm biogas plants. Hence, among the
various sustainable energy options (solar, windytlgermal, etc.), biomass is the only
renewable energy resource that consists of actaitbm(predominantly C, H, O, and N) [12];
this makes it suitable for the production of cadbaised fuels, fuel intermediates, and
chemicals. Biomass derived from agricultural ande$try waste (consisting mainly of
lignocellulose) is typically produced in quantitiesaround 10 tons dry material per hectare
annum [13,14] depending on various factoeg.(soil quality, climate). Biomass grown
especially for energy production (miscanthus, poplélow, etc.) can have higher yieldsiz
up to 20 tons/ha. The highest potential is in thiézation of waste and residues, which are
cheap and do not pose the problem of land use eh@egsoil used for food production is
converted to soil for bio-energy production).



Biofuels, produced from purposely grown energy srégg. sugar-, starch-, or lipid-
rich plant material), are called first generatioafiels. These are based on the utilization of
biomass feedstock that can also be used in the ¢dbaoh. The sugars and vegetable oils in
this biomass feedstock can be converted into Wareil and bio-diesel (from rapeseed,
sunflowers,etc.), respectively. By 2013, worldwide total biofugisoduction was calculated
to be 65.3 million tonnes oil equivalent, with arcriease of 9.7 % compared to 2010 [5].
However, the scale of production of these firstegation biofuels currently appears to be
several orders of magnitude lower than typical wpérations in conventional oil refineries
(100 MW compared to several GW’s in oil refinerie3he second type of biofuels is
produced from the conversion of lignocellulosichass and various wood-based residues
(forestry, agricultural, and industrial residue)] [8nd are known as second generation
biofuels. Because of the concerns about the cotigretwith food production for the first
generation biofuels based on sugar, starch, anetaiglg oils, the interest in biofuels has now
been shifted towards the second generation biofieta (non-edible) biomass resources.
Moreover, the availability of biomass for the protion of first generation biofuels is very
limited (<10 EJ/yr); while for second generationfbiels it is significantda. 100 EJ/yr) [15].

It is expected that the air and sea transportagemtors will be particularly heavy users of
second generation biofuels [16]. The term thirdegation biofuels has recently enter the
mainstream; it refers to biofuels derived from algéhird generation biofuels are considered
to be a viable alternative energy resource thabhasy short harvesting cyclea( 1-10 days
depending on the process) and higher oil produafbaiency (15-300 times) than traditional
crops on an area basis [17].

1.3 Conversion of biomassto energy, fuels, and chemicals

In recent decades, the need to meet the increasieqyy demands, without damaging
the environment and sacrificing the world’s resesrtoo quickly, gave an important impetus
to the development of technologies for biomass emign to modern energy carriers such as
electricity, liquid biofuels, syngas, hydrogen, andthane. Biomass alone is, indeed, not able
to solve the world’s energy needs but can conteibatthe energy production. It can partially
satisfy the need for the synthesis of carbon comtgiraw materials, as well [18]. The unique
composition of biomass makes it especially suitdiole the production of value-added
chemicals and materials that can replace petrocdasn{19,20]. However, the practical
examples are limited at this stage due to theadliiffies in the isolation of individual chemical
compounds from bio-oils. The production of suchnoloals from lignocellulosic biomass
could enhance the economic viability of a societyose needs for energy and materials
depend on renewables.

Significant efforts are made in using biochemidais the replacement of traditional
fossil sources used in industry for non-energy pse@s, such as in the production of bulk-,
intermediate-, fine- or specialty chemicals, phareuticals and organic materials. Currently,
the total energy content in all oil and oil prodticonsumed as feedstock in the petrochemical
industry amounts to 800 TWh in the European Unind 4,300 TWh worldwide [9]. The
utilization of biomass with suitable and efficieznversion technologies can, in principle,



contribute to this supply-demand chain, and thutigly decrease the dependency on fossil
fuel resources.

Although bio-based products are generally more renmentally friendly than those
derived from petroleum based feedstocks, they ansiderably more expensive to produce,
due to the lack of practical and efficient procesthodologies. Thus the huge potential lying
in renewable feedstocks is largely untapped. Bien@sversion to an intermediate, liquid
energy carrier and source of chemicals, at a shatematches the local logistics of collection
and storage, seems attractive in case it [21]:

» has an energy density of up to 10 times (on a velbasis) higher than the original
biomass material; this greatly facilitates biomlaggstics,

» can be stored and handled easily as a uniform Isaesity liquid without any risk
of natural degradation,

e can be collected from various production areas ahighped easily over long
distances to central sites for further processing,

e can be pressurized and pumped through pipelines,

» can be used as a source of oxygenated and deoxgdesteemicals,

» can be co-fed to a conventional crude oil refinery.

Such a conversion process should preferably:

* be safe, simple, and easy to operate at moderajeetatures,

» produce a stable non-toxic uniform liquid, withighhenergy density and favourable
storage, transport, and combustion properties. liched product is preferred to
include the possible maximum amount of targetedciafig chemicals €.g.
aromatics, phenols),

» have a high liquid yield and high thermal efficignc

 have favourable economics even at low productiopaciéies (10,00050,000
ton/year)

» be feedstock-flexible, accepting all kinds of bi@®mand residues,

» recover the minerals embedded in the biomass fegdsind allow them to be
returned to the soil as essential nutrients betantp the production area.

A biomass conversion process fulfilling all the wbanentioned criteria is not (yet)
available. In principal, there are three typesiohtass conversion processes: biologiead.(
ethanol production by fermentation), mechanicalgitsl €.g. oil extraction from seeds), and
thermo-chemical processes [3]. The latter includeecd combustion, gasification,
hydrothermal gasification, hydrothermal liquefanti¢iTL), torrefaction, slow pyrolysis, and
fast pyrolysis. Among these technologies for thevession of biomass to liquid, solid and
gaseous fuels, HTL and fast pyrolysis are constlex® promising technologies for the
conversion of biomass to high energy density liguidio-oil) at high yields and, hence, are
the most suitable to fulfil the high future demaaisbiofuels and biochemicals. However, in
terms of process economics, fast pyrolysis seem® radvantageous than HTL since the
latter is performed under high pressures (7 to 3aM[22]. Besides, HTL is particularly



attractive for the processing of wet biomass fewdks, in which feedstock drying prior to the
pyrolysis process would consume too much energy.

To decrease the dependency of crude oil for thdymtoon of fuels and chemicals, the —
partial- replacement of crude oil with biomass as raw ngtes an interesting option and is
the driving force for the development of bio-refipmeomplexes. The overall goal of a bio-
refinery is the integrated production of differesiisses of biofuels and biochemicals from
various biomass feedstocks, through jointly appleediversion technologies [23,24]. Fast
pyrolysis can indeed play an important role in @bneries; however, until now the role of
pyrolysis in bio-refineries has remained limited.nBw concept of the next generation bio-
refinery should be developed by using the latesthous and engineering skills regarding
process modelling, reaction planning, biomass chiwicatalysis, and finally through a
proper process integration and intensification. yojysis-based thermo-chemical bio-
refinery, such as the one shown in Fig. 1.1, cawltually change the structure of supply
chains in the chemical industry, creating a need ifmovative, sustainable chemistry
solutions.

Primary process Secondary process Tertiary process Products Applications

e

PHENOLS
ORGANIC ACIDS

OXYGENATES

FUELS

SPECIALTIES

NOILVYNOILOVYL

FEEDSTOCK
REFINERIES

.
Q
-
=<
o
w
bl
)
Q
Q
m
w
w

BIOFUELS

2 SYNGAS
wwal i
GASIFICATION

5 ey
i HEAT & POWER

| COMBUSTION

Fig. 1.1 Bioliquids refinery; BTG’s vision on a pyrolysisbed thermochemical bio-refinery,
with permission from Robbie H. Venderbosch [25].

This thesis is focused on a further improvementthed process for biomass fast
pyrolysis;viz. the catalytic fast pyrolysis of biomass. Both tagnes will now be discussed
briefly.



1.3.1 Fast pyrolysisof biomass

Fast pyrolysis is emerging as a cost effective ntleechemical biomass conversion
yielding a uniform, ash-free liquid produdte( crude bio-oil) that can be easily stored,
transported and further processed. During fastlpsi®of biomass, small biomass particles
are rapidly heated up to moderate temperatures{488D °C [26]) in the absence of oxygen,
and at atmospheric pressure. The exact yields amgasition of the products depend on the
biomass feedstock type, fast pyrolysis temperatpressure, heating rate of the biomass
particles, and the residence times of both the bgsrparticles and the released volatiles
[27,28]. In the past, quite some attention was paidptimize the process parameters of the
fast pyrolysis process while aiming at high bioyodlds. These are [29]:

 carefully controlled fast pyrolysis temperaturesaf500 °C,

» heating rates leading to a complete devolatilizattb small biomass particlesa; 3
mm [30]),

« short biomass residence times followed by rapid onaah of produced char to
minimize the cracking of volatiles,

« short volatile (.e. vapours and aerosols) residence times of typibedly than 2 s,

» rapid condensation of the released volatiles.

When these conditions are met, crude bio-oil isdpeed as the main product with
yields of around 65vt.% (dry-feed basis). The by-products of the pro@ssa solid (char)
fraction, and gaseous products (non-condensablespa3he yields of char and non-
condensable gases are reported to be around ¥6:Zband 10-20nm.%, respectively [12].
The bio-oil, char and non-condensable gases typicahtain 70 %, 25 %, and 5 % of the
energy in the biomass feedstock [29]. The fast lggr® process itself requires only about 15
% of the total energy contained in the feedstookthe produced char and non-condensable

gases can be used (by burning in combustors) wdadhe energy for the process [29] (see
also Chapter 7 in this thesis).

A careful selection and design of the fast pyraysiactor and the vapour condensation
system (condenser) is crucial. A variety of reactonfigurations have been developed and
investigated,viz. circulating and bubbling fluidized beds, ablatiestrained flow, rotating
cone, auger, and vacuum pyrolysis reactors [12029For the details concerning the fast

pyrolysis technology development, the reader isrretl to the review of Venderbosch and
Prins [30].

1.3.2 Theneed for bio-oil upgrading

The interest in the production of bio-oil has grovapidly in recent years, due to the
opportunities for:

» de-coupling of the fuel production (scale, time &htion) from its utilization,

» easy handling of a liquid fuel in further processiftransportation, pressurization,
atomization),

« the production of a renewable fuel for boilers,iaeg, turbines and gasifiers,
« upgrading of the pyrolysis liquids to a refinergdeor fuel blending components,
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* integration in various biorefinery concepts, aleo the conversion of lignin rich
residues,

e separation of the minerals from the process toel@rmed to the soil as a biomass
nutrient,

« the production of biochar (soil improver) as a bgguct.

However, some adverse properties of crude bionziuding its water content (15-30
%), the high oxygen content (35—4.%), its corrosiveness (pH of 2-3), the low heating
value if compared to fossil fuels (LHV of approxitely 17 MJ/kg), poor volatility, and the
presence of small particulates makes it unsuitidsléhe direct use as a transportation fuel or
as a source for the production of fuels and chdmi¢29,31]. Its immiscibility with
hydrocarbon fuels and its chemical/thermal insiigbiinder storage and heating conditions
further obstruct its direct use in almost any agilon [29,31,32]. Although the applications
are still not all fully developed, bio-oil could iprinciple be used as a fuel for gasifiers,
boilers, and turbines. For specific applicationdiofoil, like in diesel or gasoline engines, or
as a bio-based feed material in the existing patiral refineries, a certain degree of upgrading
including the (partial) removal of oxygen and cliagkof the oligomers present in bio-oil is
required. However, the precise way of upgradingasevident on beforehand, because it is
closely related to the actual end-application. &secof engines, whether stationary (diesel
generators) or mobile (car engines), upgrading teade carried out with the primary
objectives to:

* reduce the viscosity and instability,

* reduce the acidity, allowing the use of conventiamgctors and pumps,

« prevent the formation of coke (avoiding pluggingmgéctors),

* increase the cetane number; this is an indicatoigiaition behaviour in a diesel
engine,

» improve the miscibility with conventional fossildls.

Although much effort has been put into for the depment of fast pyrolysis with a
maximum efficiency, throughput, and/or bio-oil yiehot much attention has been paid to the
effect of the biomass composition and/or the fagtolysis conditions on the bio-oll
composition [30,33]. Bio-oils contain a broad ramgjeorganic compounds and, hence, also
offer the potential to be used as a renewable feekiSor the chemical industry for the
production of high-value chemicals and liquid bueis [12,30,3335]. However, to realize
these potential applications requires not onlyrttaimization of bio-oil yield, but even more
to control its chemical composition. Optimizing theld of these specific component(s) or
fraction(s) aimed at then becomes essential. Tir®duces severe constraints on both the
biomass composition and the operating criteria. @fethe few promising potential
applications is the valorisation of the phenoliss kaiilding blocks of new synthetic bio-
plastics, phenol-formaldehyde resins or epoxy- ayyrethane materials [35,36]. Bio-oils
also have the potential to be used as a refineggisteck for the production of bio-fuels
[35,36] after being upgraded via hydrodeoxygenatibiidO) with pressurized hydrogen
(mostly in the range of 30—140 bar [37]) over hegeneous catalysts.§. CoMo- and NiMo-
based catalysts). However, the economic viabilityhe HDO process strongly depends on



the amount of hydrogen consumed and requires darfttbe composition and the amount of
the high molecular mass fractior.d. sugars) in the bio-oil. For the latter, catalykast
pyrolysis seems to be an attractive alternative groper catalyst, the most suitable reactor
technology, and the optimal process conditionskmaidentified; the clarification of this will
be the main theme of this thesis.

1.3.2.1 Catalyticfast pyrolysisof biomass

(In this introduction, only a brief description on catalytic fast pyrolysis of biomass will be
given. For in depth information, the reader isreferred to the Chapters 2 and 7 in thisthesis.)

It has been recognized already in the early dayRsif pyrolysis R&D [38] that the
application of catalysis could be of major impodann controlling the quality and the
chemical composition of the bio-oil. As most of thie-oil's adverse properties are caused by
its highly oxygenated nature, bio-oil improvemerasically refers to a reduction in the
oxygen content (deoxygenation). For this purposalyiic fast pyrolysis (CFP), which is a
single step process that uses heterogeneous ¢stialyke fast pyrolysis process, wherein the
catalysts react with biomass derived pyrolysis vapat atmospheric pressure [39], can be
put in service.

In CFP, the heat transfer material, generally assunmert in conventional fast
pyrolysis, is (partially) replaced by a solid cgtdl(.e. in situ catalytic fast pyrolysis). The
presence of the catalyst lowers the temperaturthefpyrolysis process [40] and favours
oxygen removal via decarbonylation (CO rejectiasgcarboxylation (C@rejection), and
dehydration (HO removal) reactions. Catalytic fast pyrolysis ioésl vapour phase reactions
that cause a change in oxygen functionalitiesy@te the acidity, increase the calorific value,
and improve the stability of the produced liquidguct (predominantly organic phases.
CFP-oil). Hence, the CFP-oil becomes more simitarchemical composition to current
gasoline and diesel fuels than the conventionabii1,42].

The product distribution in CFP and the ultimatemposition of the CFP-oil is
influenced by the operating temperature of thelgsttathe type of the biomass feedstock,
residence time and the heating rate of the bionthsscatalyst-to-biomass ratio (or weight
hourly space velocity, WHSV), vapour residence tiar&d the type of the catalyst (including
pore size, acidity, nature of active sites, and ghesence of metals). The success of the
operation depends on the precise optimizationegdtparameters.

In CFP of biomass, the selection of an appropatalyst is crucial for the formation
of higher value compounds (phenolics, alkanes, mmroatic hydrocarbonsic.) and for the
elimination of undesirable compounds (acids, ketprmoly-aromatic hydrocarbonstc.)
[43,44]. Lifetime, activity at various temperatureand other process conditions,
deoxygenation performance, and the capability tppeess the formation of coke are
important issues in the catalyst selection procgeslites, and particularly ZSM-5, were
shown to be effective in the conversion of biomi@sseasonable yield of aromatics [45] and
in the selective deoxygenation of pyrolytic vapotirsreby increasing the C/O ratio [46,47].
The use of zeolite cracking catalysts also leadsntaller molecules being formed, due to



cracking of the high molecular weight moleculesspré in the primary pyrolysis vapours
[48,49].

1.4 Outline of thethesis

While the literature on the catalytic fast pyros/sif biomass is rapidly expanding, the
translation of laboratory results to viable processicepts and pilot plant trials remains
scarce. The present thesis discusses the cati@sgtipyrolysis of lignocellulosic biomass in a
process oriented way that may initiate a usefutg@se technology development in the near
future. The final goal is to come up with some raotendations and suggestions on how to
realize this technique at a commercial/industriales. That requires a better understanding of
the precise effects of the essential process paeasn€.g. catalyst-to-biomass ratio) and
design elementse(9. reactor type, catalyst type) on the one hand, @efhitions and
outcomes of possible obstaclesy( successive regeneration of the catalyst, effebiamhass
ash) on the other.

Chapter 2 provides a review of catalytic fast pyrolysis suatising the achievements
and the potentials of the methodology. It coveesdhisting literature dealing with laboratory
research mainly but also reporting some commenuthlstrial developments. The current
status of research is provided, while focusinghendetailed overview of the suitable process
parameters and reactor technologies, specific ysataypes employed, as well as on the
reaction mechanisms. It further includes an outldok the commercialisation of the
technology.

The first part of the experimental work (Chapteartl Chapter 4) is concerned with the
operation of a fully controlled, continuously opexh fast pyrolysis mini-plant (0.5 kg/h
intake) based on auger reactor technology. In»gkeements, pine wood was used as the
biomass feedstock. This mini-plant was designedaltow three types of biomass fast
pyrolysis experimentsjiz. non-catalytic, in situ catalytic fast pyrolysisdaex situ upgrading
of non-catalytic fast pyrolysis vapours by meansaoflownstream, moving-bed catalytic
reactor. The mini-plant allows a stable operatiadar a wide range of process conditions to
maintain high mass balance closures and good repitmtity of the experiments.

In Chapter 3, the validation of the abovementioned set-up waglied. The
performance of the system was verified by in- ardsiéu applications of a single type of
heterogeneous ZSM-5 based acidic catalyst whilente-catalytic results were taken as
reference.

For the first time in the catalytic fast pyrolydigerature up to date, the screening of
metal doped (and their parent counterparts) hete@gus catalysts in in sitwontinuous
catalytic fast pyrolysis of pine wood was studiedChapter 4. In total, eight proprietary
catalysts were tested. They were divided into thgemips based on their acidity, type of
carrier, the active metal contents, and accordingeing aged or fresh. The main objective of
this study was to find the best performing catalysapable of retaining the amount of the
organic liquid products as much as possible witmiaimum water production, and also
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achieving an effective reduction of the acidity idgrin situ catalytic fast pyrolysis of pine
wood. The catalysts were also tested on a micrle2ssang a py-GC/MS system.

The second part of this thesis was concerned with design, construction, and
operation of a fully controlled, continuously optamg lab-scale pyrolysis set-up (0.2 kg/h
intake). This set-up was designed based on thelibghituidized bed technology and allows
non-catalytic and in situ catalytic pyrolysis expents. The unique feature of this reactor is
that it contains a specially designed mixer (agddted) that ensures a uniform mixing of the
bed contents (catalyst and sand) without any satjoeg The research discusseddhapter
5 was meant (1) to validate the reliability of teet-up by multiple repetitions of non-catalytic
and catalytic (in situ) pyrolysis experiments foingg wood at 500 °C under identical
conditions, and (2) to investigate the effect sépeatedly regenerated ZSM-5-based catalyst
(eight reaction/regeneration cycles in total) oa ¥ields and compositions of the pyrolysis
products in relation to the applied process cood#iand on the catalyst itself.

Most of the studies in CFP literature are dealinthviresh catalyst whereas in large-
scale practical applications, the spent (and coledalyst is regenerated (subjected to
combustion) and then returned to the pyrolysis @sed50]. Although this is pretty much
similar to the FCC process in an oil refinery, @spect that is different — and thus far not
properly understood — is that biomass also addsmairmatter (or ash) to the process.
Through successive cycles of pyrolysis and catakygéneration, a considerable amount of
this ash accumulates and could potentially affeet themistry of pyrolysis as well as the
stability and/or the activity of the catalyst. Hendn order to understand the role of
indigenous and added inorganic compounds in CHioohass, and the potential ash/catalyst
interactions that may take place in CFP, the imfb@e of them on the distribution and
composition of products resulting from the primand secondary fast pyrolysis reactions has
been examined i€hapter 6. The effects of biomass ash and its major corestigion the
pyrolysis product yields and composition as obsgnvethe non-catalytic and catalytic fast
pyrolysis of pine wood are reported in this chapterdiscussion is provided on whether
catalyst deactivation is merely caused by coke siéipa and thermo-mechanical, chemical
and structural changes of the catalyst, or by tkegnce of the biomass ash as well.

In Chapter 7, an extensive discussion regarding the efficieiwl the economical use of
primary and secondary products of catalytic fagblygis process is given and operational
barriers for the implementation of catalytic fagtglysis technology is provided. Moreover,
the state-of-art of the CFP technology, the besgédyprocess modes/parameters, and proper
heat integration was reviewed. Some process atteesafor efficient CFP operation are
suggested as well.

Finally, the summary, main conclusions, and remarkspresented.
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Chapter 2

Achievements and potentialsin
catalytic fast pyrolysis of biomass

This chapter provides a review of catalytic fast pyrolysis of lignocellulosic biomass and
summarises the current status and the achievements in the research and development of the
technology based on the existing literature and the commercial/industrial attempts. It
addresses the types of biomass used, overview of the applied process parameters and reactor
technologies, and the specific catalysts employed. The current understanding of the chemistry
and the reaction mechanismsin catalytic fast pyrolysis of biomassis provided as well.



2.1 Introduction

Large-scale industries based on crude oil procgsiat supply transportation fuels,
fine chemicals, polymerstc. are spread all over the world. However, the éimtature of
crude oil, the deterioration of the environmentseliby its use, technica.g. BP Deepwater
Horizon disaster in 2010) and security relatedsriBq of its supply are the main problems
linked with the continued use of crude oil. Sucbljems demand a transition from today’s
fossil based economy to a more sustainable onellmaseenewable resources for energy and
chemicals. Renewable energy sources by which mbety and power is producdde(solar,
wind, hydropowergtc.), are not suitable for the production of convemiotransportation
fuels and raw material®.§. petroleum based chemicals) used in the currentsinés [40].
Thus, to contribute to the sustainability of therrent petro-chemical economy and to
continue the production of petroleum-like produateemicals and (transportation) fuels,
biomass may be put in service. Due to its abundandefast turnover in organic carbon and
hydrogen, there is recently a growing interest imnmass as an alternative for the currently
used non-renewable fossil resources. Biomass carcdmeerted via thermo-chemical
processesig. pyrolysis, gasification) to fuel intermediates arttemicals in liquid, solid,
and/or gaseous forms and potentially replace fdssik, either fully or in blends of various
fractions. This makes biomass the most promisingcgofor renewable energy and chemicals
with an increasing potential for the worldwide hiels and biochemicals market [47,51].

Ideally, the production of fuels and/or chemicaisni solid biomass materials would
include a single process step with a high degremoversion. The flexibility in using various
types of biomass feedstock and short feedstockearsion times could be the assets of the
process. Pyrolysis has been considered as a MVmeass conversion technology for the
production of fuel intermediates, chemicals, andtls@urces in the form of liquid, solid, and
gaseous product fractions in various proportions.sl defined as the direct thermal
decomposition of an organic substaneg.(woody or residual biomass, waste plasic,) at
elevated temperatures (between 250 and 650 °Chemdspheric pressure in the complete
absence of an oxidizing agent (air or oxygen);t&d oxidation, combustion, or gasification
do not occur to any appreciable extent. Comparedsdme other biomass-to-biofuel
conversion processes, a major advantage of pysolgdihat any type of biomass feedstock
can be processed [52].

The outcome of a pyrolysis process depends on aefamtors related to the type and
the properties of the biomass feedstock and thetogaprocess conditions, and intended
application of the final products [28] (Table 2.When large¢a. 100 mm) solid wood pieces
are heated slowlycé. 0.1-1 °C-3 [53]) to temperatures between 200-300 °C withdersie
times of few minutes to hours, solid yields as haghca. 70-90wt.% on feed basis are
obtained. This process is known as torrefaction #med solid product is called torrefied
biomass. On the other hand, in slow pyrolysis abaaization, the application of higher
temperatures (400-500 °C) with similar heatinggdtethat of torrefaction results in 30—-33
wt.% of solid producti(e. char) [54]. In order to maximize the yield of liquproduct,
pyrolysis has to be conducted at temperaturesa.0500 °C, and at higher biomass heating
rates. Residence times of 2 to 20 seconds are aiéedine complete devolatilization of small
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biomass particles (of a few millimetres in diamgtetlowed by rapid quenching of released
vapours (short vapour residence timesafl s). This type of pyrolysis process is called fas
pyrolysis. The main product, bio-oil (referring toude, non-catalytically produced single-
phase pyrolysis liquid), can be obtained in yiedl$60 to 70wt.% (on a dry-feed basis) in
continuously operated pilot plants and in labonat@actors. In the literature, bio-oil yields
over 70 wt.% obtained in laboratory-scale reactors are regortdowever, these are
exceptional and only possible for well-defined f&edk €.g. cellulose, glucose, xylan, furan,
etc.) under precisely controlled process conditiond.[8h the other hand, when the vapour
residence times are kept longea.(10-30 s), this process is called as the intermediate
pyrolysis. The outcome of this process is a twosphliquid product with a yield afa. 50
wt.%, together with 25vt.% for both char and the non-condensable gases [29].

Table 2.1. Typical product weight yields (dry wood basis) abed by different modes of
pyrolysis of wood (Adopted from Bridgwater [29]).

Mode Conditions Liquid Solid Gas

Fast ~500 °C, short vapour residence time ~1 s 75% 12% char 13%

Intermediate  ~500 °C, vapour residence time —B0 s 50% in 2 25% char 25%
phases

Carbonisation ~400 °C, long vapour residence time of  30% 35% char  35%

(slow) hours to days

Torrefaction  ~290 °C, solids residence time —<BD min 0% unless 80% solid 20%
(slow) condensed,
then up to 5%

Gasification  ~750-900 °C 5% 10% char 85%

Fast pyrolysis has the advantage over other themmeaiical conversion optiong.g.
gasification, and direct liquefaction [55]); it ghaces comparatively high yields of liquid for
direct combustion (for heat and power generatid@sides, it can be applied as an
intermediate pre-treatment step, where solid bienmsransformed into a liquid with higher
energy density compared to the original feedst&slentually, the resulting pyrolysis liquid
can be easily transported and/or stored. The bgymts of the process are char and non-
condensable gases (NGC'’s) which contain typically2 and 5 % of the energy in the feed
material, respectively [28]. In order to provides tandothermic reaction heat necessary for
pyrolysis reactionsc@. 1.5 MJ/kg dry wood [21]), these by-products carbbent externally
(for biomass drying, co-combustiogic.) or in the process (see Chapter 7 in this theBm)a
detailed description of fast pyrolysis technologyl aecent advances in related research, the
reader is referred to some previously publisheteres [27,29,30,56].

Crude bio-oil is a complex and homogeneous mixtafrevater and a large number of
mainly oxygenated chemicals (30—4@.% [57]). The molecular weights of the organic
macromolecular lignocellulosic degradation produetsge from that of light hydrocarbons
up to 5000 g/mol or more (pyrolytic lignins, sugaligomers) [12,58,59]. The organic
chemicals in crude bio-oil can be classified inbarf main categories: 1) anhydrosugars, 2)
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furan derivatives, 3) low molecular weight oxygesate.g. carboxylic acids, ketones,
aldehydes), and 4) phenols and aromatics [60]. dMittany modification, this mixture of
chemicals could be used as feed for boilers, tesjiengines, and gasifiers. However, its
water (15-30%) and oxygen content [61], strongagiveness (pH of 2-3), high viscosity
(35—1000 cP at 40 °C), low heating value (16—19KdJd; around half of that of petroleum
fuels), poor stability (viscosity and phase chamgéme), poor volatility, limited miscibility
with hydrocarbon fuelsgtc. makes crude bio-oil unsuitable to be served ed fieto existing
petroleum-based refinery units for the productioh liquid (transportation) fuels and
chemicals [29,31]. In order to overcome the afonmetiveed drawbacks of crude bio-oil,
improvements in its quality can be achieved throagtions (individual or in combination)
before, during or after the pyrolysis step. Theme loe the demineralization of the feed by an
acid wash (leaching), staged condensation to ldaeacid and water content of crude bio-
oil, catalytic upgrading of the produced bio-alg, hydrodeoxygenation), or the application
of heterogeneous catalysis within the pyrolysiscpss i.e. catalytic pyrolysis) [26]. The
common target of all possible bio-oil upgradinghigiques must be to favour the pathways
towards reducing the oxygen contené.(deoxygenation) while cracking the large aromatic
structures to smaller ones [31,62]. This resultarnirupgraded bio-oil with increased stability,
higher heating value, and miscibility with petrateuefinery feedstock and/or petroleum-
based fuels.

In the last decade, many pyrolysis researchers fuaused their attention to two main
technologies for improving crude bio-oil [63] toadte the production of certain chemicals
(i.e. hydrocarbons, phenols, aromatics) and/or liquielsfwor fuel intermediates similar in
physical and chemical properties to current gasoéind diesel fuels. Hydrodeoxygenation
(HDO) is a downstream upgrading process for pyislyguids which is based on the
hydrotreatment of bio-oil over heterogeneous catalye.g. CoMo- and NiMo- based
catalysts) under high hydrogen pressure (mostlyhenrange of 30-140 bar [37]) and at
elevated temperatures (330-450 °C)-6d]. Alternatively, heterogeneous catalysis. (
zeolites) can be used directly inside the fast lggi® reactor (catalytic fast pyrolysis, CFP).
The target of CFP is to enhance the cracking reastf the heavy molecules in the primary
pyrolysis vapours as well as to induce deoxygenatsactions to eliminate oxygen from the
resulting bio-oil [42]. In terms of capital and opgonal costs, CFP seems more economical
since it is a single step ‘biomass-to-liquids’ pres and does not require the supply of
expensive high pressure hydrogen gas [67,68]. Ahoboth techniques exhibit major
operating problemse(g. reactor plugging, rapid catalyst deactivation) &wd yields of liquid
fuels [69], it was stated that catalytic fast pysid has several advantages over other
techniques [70]. These advantages are; to achikwd the targeted chemistry in a single
reactor with the use of inexpensive aluminosilicztalysts, the possibility to process a range
of different lignocellulosic feedstock with onlynsple pre-treatmente(g. grinding, drying),
and the possibility to blend the liquid product adeedstock (or co-feedstock) into the
existing gasoline infrastructure. Hence, the margeét of catalytic fast pyrolysis process
should be to retain as much carbon and hydrogethanliquid product as possible while
removing the highly reactive oxygenated speasxs Organic acids, carbonyls) [71]. In order
to produce a high-quality liquid product in suféot quantities (CFP-oil), various aspects of
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the CFP process, ranging from biomass feedstodcts®h (woody biomass, forestry or
agricultural residuesgtc.), reactor types (bubbling/circulating fluidizedds, auger reactors,
etc.), catalyst types (microporous or mesoporous tEmlmetal oxidestc.) and the process
conditions (temperature, vapour residence timglysttto-biomass raticgtc.) [46] must be
well-optimized.

In recent years, catalytic fast pyrolysis of biomdms been extensively studied and
various literature reviews have been published4A4®0,63,7275]. The objective of this
comprehensive review is to focus on the R&D advaraed trends in the field of catalytic
fast pyrolysis of woody biomass over micro- and oapsrous acidic zeolites, basic and metal
catalysts based on the large number of literataponts published since 1995 up to date.
Prominent research in this area will be summarizet their key features highlighted. The
main spotlight will be on the research aimed toieah the optimal biomass feedstock and
catalysts, reactor technologies, and process c¢onsdit The current understanding of the
chemistry and the reaction mechanisms in catafgst pyrolysis of biomass is provided as
well.

2.2 Process optimization for catalytic fast pyrolysis of biomass

In general, five major factors influence the CFBgesss:

 the type and the properties of the biomass feekistoc

* the process parameteiise(temperature, heating rate, catalyst-to-feed ratapour
residence timestc.),

» the choice of the reactor technology,

» the operation modg.e. in- or ex situ),

» and the type of the catalyst used.

The success of the process is closely relatedeteitbcise optimization of these factors
which would yield a maximum quantity of catalytiast pyrolysis oil (CFP-oil) with the
desired quality, while the amounts of by-produdts. (char, coke on catalyst, and non-
condensable gases) are minimized. To achieve dhgett a remarkable research effort has
been shown in the last two decades by researchengeathe world. In attempt to provide an
overview and summarize the trends in CFP resedteh, distribution of the literature
publications regarding catalytic fast pyrolysislighocellulosic biomass (published between
1988 and 2014) is given in Tables A.2.1 and A.2aZhe Supporting Information. These
tables are organised based on the operation moeleeactor type and the biomass feedstock

type.
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2.2.1 Typesand propertiesof biomass feedstock

Lignocellulosic biomass, referring most of the péaror plant-based materials, is
composed of three main structural constituenés ¢ellulose, hemicellulose and lignin), and
some non-structural components (minerals, extrastivmoisture)yviz. in varying weight
percentages depending on the type of biomass [[{4[Tié relative proportions of cellulose,
hemicellulose, and lignin in the biomass feedstuake a distinct effect on the quality and the
guantity of the produced bio-oil [77]. Especiallyrohg the screening of potential catalysts for
CFP, it is essential to relate the thermal degradatmechanisms associated with the
conversion of these constituents individually [7Bjis would help to understand the complex
nature of the bio-oils. When the target of CFPhis production of certain chemicalise(
aromatics, phenols, olefins) in high yields, modempounds can be studied to reveal the
reaction mechanisms and develop an understandingnyfcatalytic factors which may
influence the overall reactions [70]. This may helglesigning CFP catalysts.

According to the U.S. Department of Energy [78hrbass feedstock can be classified
into three families: forestry, agriculture and nuipal. At the research level, hundreds of
biomass materials have been screened [12,79] aydcHn be classified as: woody (soft and
hard woods, forest residues, sawdust), agricultrgsidues (husks, stalks, stovers, straws),
industrial by-products (fruit skins and seeds, ilgn non-woody (grass), waste products
(sewage sludge, animal litter) and marine (seawde@d$. In case of conventional pyrolysis,
different types of biomass feedstock result in wragyio-oil yields [67,75] depending on their
biomass constituents.€. cellulose, hemicellulose, and lignin) and ash eots. In case of
CFP however, high lignin (because of its lower aygontent and the presence of aromatic
moieties in it) and low ash containing biomass &weck are preferred. Compared to other
types of biomass feedstock, woody biomasses coathigher amount of lignin [80] and thus
yield a bio-oil with higher heating value. On thther hand, agricultural residues and non-
woody biomass have higher ash contents. Thesedslghcontaining biomass feedstock are
less desirable for CFP because of the catalytecetif ash under pyrolysis conditions [29,81]
(see Chapter 6 in this thesis). Ash may favourfdh@ation of water and gas at the expense of
liquid organics and inhibit the activity of the abtst by poisoning it. Moreover, due to their
higher hemicellulose content compared to that oddyobiomass feedstocks, agricultural and
non-woody biomass feedstock produce more char asdirg pyrolysis. Generally, woody
biomass feedstock was seen to produce the bestygbi@-oil in terms of C, H and water
content [77]. Until now, low-ash containing woodjotmass seems to be the most ideal
biomass feedstock for industrial scale productibrmigher quality bio-oil via CFP. Tables
A.2.1 and A.2.2 in the Supporting Information agww that woody biomass has been used
in most of the studies due to the fact it is easgrocess€g. handling and feeding), and well
characterized (especially for some specific woquksy such as pine and beech).
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2.2.2 Process parameters
2.2.2.1 Temperature

In pyrolysis, thetemperature strongly influences the vyield distribution and the
physical/chemical properties of the produatg.(carbon content, oxygen content, pH, and
viscosity of bio-oils) [82]. Since the thermal dadation reactions of biomass occurring
during pyrolysis are endothermic, the decreaseyinlysis temperature implies a decrease of
the input energy for the system, which is bendfit@n an energetic and economical point of
view. In CFP, the reaction temperature is the noaital process parameter that affects the
relative rate of the catalysed vapour phase reac{#0]. Catalysis in CFP is known to have a
lowering effect on the reaction temperature; howethee precise mechanism is still unclear at
present [60].

2.2.2.2 Residencetime and heating rate of biomass

Catalytic fast pyrolysis of biomass involves vagothemical reactions in the vapour
phase. In order to design a cost-effective comrak€FP technology, modelling of these
complex kinetic processes is necessary [40]. Howeweat and mass transfer limitations
prevent an accurate representation of these reacty chemical equilibria [83]. In that
respect, Pyrolysis number (Py), which comparesrnale heat conduction transfer and
chemical kinetics [84] and/or Damko6hler numbers)(Dehich relate the chemical reaction
timescale (reaction rate) to the transport phenamate occurring in a system could be taken
into account. In the presence of a catalyst, higimhss heating rates (>500 °C)sare
needed to avoid coke formation (see Fig. 2.5) byndgeneous thermal decomposition
reactions, and to produce high grade bio-oil ansbyae range compounds. On the other
hand, for heating rates above 50 °Eis the presence of a zeolite catalyst, the aramati
selectivity was shown not to be a function of tleating rate but for the lower values it was
[85].

In CFP of biomass, biomass residence time simggrsdo the run timety,,) for batch
reactors. However, in flow-through or continuouaaters, biomass residence time refers to
the time that the biomass particles spend in thierdaxtor zone. Being closely related with
the biomass particle size, thesidence time and heating rate of biomass togeitfiect the
degree of devolatilization and play a major roledefining the reaction products and the
product distribution (see Section 7.3.1.3 of Chaptm this thesis).

2.2.2.3 Catalyst-to-biomassratio

If the catalyst in the reaction zone is deactivaied. coking, fouling, attritiongtc.)
before all the released primary pyrolysis vapouss lzeing reformed by the catalysis, the
produced bio-oil will be a mixture of non-catalyb@-oil and CFP-oil. This is also valid for
very short vapour residence times that prevent diwficient contact necessary for the
reactions on the catalyst surface. Hence, ugflalyst-to-biomass ratios are necessary to
ensure the adsorption of the primary pyrolysis wampmn the catalyst surface with a broader
distribution. In this way, these vapours can intemaith the catalyst before they thermally
decompose to coke via the secondary reactions forebbeing quenched in the condenser
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system. When the catalyst has a high acidity, hligtalyst-to-biomass ratios have been
reported to suppress coke and PAH forming polyratiom reactions to a higher degree
[86,87]. Another term frequently used in the caB€BP is the weight hourly space velocity
(WHSV, hY). WHSV, defined as the ratio of the mass flow wftéeed (in g/h) to the mass of

catalyst (in g), is one of the most important vialea in CFP. The variations in WHSV may
affect the yield of CFP-o0il and the formation oftea[82].

2.2.2.4 Vapour residencetime

Another important parameter in fast pyrolysis (eitleatalytic or non-catalytic) is the
vapour residence time. In CFP, the vapour residence time needs to befuigr controlled
since the catalysed reactions resulting in the tdelachemical species and the liquid
intermediates are not kinetically equilibrium catflied. If not carefully controlled, these
intermediates may undergo secondary reactions riteyt be catalysed by the biomass
originated alkali and alkaline earth metals (AAEMSIth the catalyst to form heterogeneous
coke, or take place as homogeneous reactions iouvahase [40,26]. Hence, short vapour
residence times (< 2 s [88]) in the heated zondyding the reactor zone) followed by rapid
guenching of these vapours is crucial. Carefulrogttion of the carrier gas flow rate is also
necessary to achieve the balance between the w#eessary for the completion of catalytic
reactions and the suppression of unwanted secorndpour phase reactions.

Overall, for an optimal CFP process resulting iffisient yields of an organic fraction
(CFP-oil) with improved quality, carefully optimidereaction temperatures, high heating
rates, a biomass residence time sufficient forraptete devolatilization, optimal catalyst-to-
feed ratios, high levels of WHSV (>1' fast separation of the solidse( char), short vapour
residence times (<2 s), and fast quenching of thedlyred vapours are all necessary
[46,82,89,90].

2.2.3 Reactorsused in CFP of hiomass

In pyrolysis processes, the reactor is the coregameérally the most researched part of
the fast pyrolysis technology in terms of an engrivey point of view. As summarized in
Tables A.2.1 and A.2.2 in the Supporting Informatia large body of literature is available
for CFP of biomass carried out at both bench/laesg.e. bubbling and circulating fluidized
beds, conical spouted bed, auger reactor) and tarslyscale reactorseq. analytical
pyrolysis setups or py-GC/MS, packed (fixed) bedyutar quartz micro reactor). In these
studies, the performance of various catalysts oadymt yields and characteristics have been
investigated. Nevertheless, it is crucial to nodeehthat the results obtained are difficult to
compare because of the variety in the reactor tyjpesscales of the reactors, and the process
parameters used.
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2.2.3.1 Insitu and ex situ processing in CFP of biomass

Based on the location of the catalyst in the preceatalytic pyrolysis can be divided
into two different operation modes: in situ andsgx [75] (Fig. 2.1). In the in situ process
mode, a pure catalyst or a catalyst-sand mixtuyskaces the heat carrier which is typically
pure sand in a traditional, non-catalytic fast . The catalytic fast pyrolysis then occurs
in a single reactor where biomass feedstock anddtaysts are mixed intensively to enable a
good contact between the two. Generated primarglysis vapours instantly diffuse into the
catalyst pores where the catalytic cracking/refagnireactions occur. In small scale
laboratory reactors, such as analytical pyrolysisl gpacked (fixed) beds, catalyst and
powdered biomass are mixed and the mixture is glaca tube with the aid of a ceramic (or
quartz) wool, or a sintered disc support [40,64]hé&W in situ processing is applied in
continuously operated larger scale units. Circulating fluidized bed, auger reactor) the char
should always be separated before the catalysheegion step (see Chapter 7 in this thesis).
Although practically hard to implement, the reasanthis crucial separation is to prevent the
accumulation of char-bound ash (minerals) on thevesurface of the catalyst material;
because in the case of CFP of biomass, negatieetefbf biomass ash on the bio-oil yield
and quality have been observed [29,81] (see Chéptethis thesis).

Catalytically

treated vapours
A

N

Catalyst

Ex situ
reactor |

Catalytically

treated vapours Y

Primary pyrolysis
/I\ vapours
T

Catalyst '
Insitu y Pyrolysis
reactor reactor
(non-catalytic)

T T

Biomass Biomass

(@ (b)

Fig. 2.1. Sketch showing the difference between two openatiodes in CFR@) in situ, and
(b) ex situ.
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In the ex situ mode, the non-catalytic pyrolysigoamars produced in the primary
(pyrolysis) reactor are carried through a secondargving bed, or circulated transported
bed) reactor where they are contacted with thdysttaOne of the biggest advantages of the
ex situ processing is that the temperatures of be#itctors are independently adjustable,
which assists in controlling the product distrilbatiand selectivity [75]. Moreover, ex situ
processing allows the possible secondary inputasf @g. steam, hydrogen) to the ex situ
reactor; this might improve the catalytic procegs[d0]. The contact time between the
primary pyrolysis vapours and the catalyst shoutdchrefully controlled for a complete
reforming. Ex situ catalysis can be applied in pasate fixed/packed bed in the form of
pellets or monoliths. This avoids the damage dusatalyst particle attrition that may readily
occur in a circulating transported bed; it can selydimit the catalyst lifetime [40]. The char
formed inside the pyrolysis reactor can be furtbembusted in order to provide the heat
needed for the pyrolysis process [91]. Hence, eniik the in situ operation mode, the
periodic regeneration of the spent catalysts (seferthe removal of the coke on catalyst by
oxidative treatment) can be conducted in the almsenchar, and thus the accumulation of
biomass ash (mainly within the char structure) he tatalytic reactor can be prevented.
Adversely, the need for an additional catalyticctea (or two additional reactors operating
sequentially in operation and regeneration modeseases the capital and operating costs to
a great extent which can be considered as the ohawback of the ex situ processing.
Moreover, the additional vapour residence timeuichsa system may cause further secondary
reactions and promote the undesired water and poséuction. This could decrease the
quality and the quantity of the liquid product. Fopre detailed information regarding the
process modes the reader is referred to Chaptethrsi thesis.

2.2.3.2 Laboratory and pilot scalereactorsfor CFP of biomass

Fluidized bed reactors are widely used for bionfasspyrolysis. They are applied also
in a vast number of industrial processes due tar tecellent mass and heat transfer
characteristics, scalability and simplicity of ogigon [72,92]. In laboratories, they have been
frequently used for non-catalytic and catalyticrbass fast pyrolysis due to their ability to
provide high biomass heating rates, high catatyde¢d ratios [85], and high bio-oil yields.
In case of CFP, biomass is fed into a hot fluidiked reactor, where it thermally decomposes
to form primary pyrolysis vapours. These vapouesthen contacted with the catalysts, either
in- or ex situ, and soon condensed to form an wegtdiquid product (CFP-oil).

In CFP literature, two types of fluidized bed teclugies have been used in
laboratories, namely bubbling and circulating flaetl beds. Bubbling fluidized beds (BFBs)
can be considered as ‘semi-batch’ reactors in whlitlhe solid bed material.é. catalyst,
sand) stays together during the operational rure tmthout being transported outside the
reactor bed. While being quite suitable in the tab conventional non-catalytic biomass
pyrolysis, BFBs are less ideal for CFP becauseb#t material needs to contain a certain
amount of catalyst. With the start of continuousdiag of the biomass feedstock, the
deactivation of the catalyst takes place withineayvshort time. Consequently, the catalyst
behaves as an inert material for the rest of tlegaijwn. A BFB reactor could also be used for
the ex situ upgrading of non-catalytic pyrolysip@ars when being placed after the primary

22



pyrolysis reactor. However, catalyst deactivatiavuld again be a serious issue requiring the
catalyst to be refreshed continuously, either bgdiieg fresh catalyst or by recycling a

regenerated catalyst [69]. This can be solved byaftplication of two parallel ex situ reactors

operating sequentially in an active and in a regeie mode.

Another drawback of bubbling fluidized beds in cafeCFP is the change in the
fluidization behaviour when a catalyst is addedtite bed material (g. sand-catalyst
mixture). Typical inert solid materials such as@®d, SiO,, and sand used in BFB reactors
have higher densities and bigger particles thatiteecatalysts €9. FCC, ZSM-5). A bed
material mixture composed of Geldart’'s class B @ngbarticles [93] cannot be fluidized
together. It would quickly result in segregatiordaxcessive entrainment of the fine catalyst
particles. Because relatively high fluidization agties are required to limit the vapour
residence times, the BFB is unsuitable for CFP. @engially available catalysts have high
porosities and small particle diameters; they a®ighed particularly for the applications in
circulating fluidized beds. To overcome this problén our laboratory, we developed a
reactor (similar in design to the conventional BF&ctors) in which a mechanical mixer
continuously agitates the bed contents (detaildbeaiound in Chapters 5 and 6 of this thesis).
This way, the bed contents remain well mixed withaay risk of particle segregation.
However, since the bed material is not continuouslglaced, catalyst deactivation, as
previously explained, still occurs in our laborgtsetup, which is the subject of investigation.

Circulating fluidized bed (CFB) including a regeaion step for the continuous
catalyst regeneration seems the most appropriatenééogy for CFP of biomass. In CFB
reactors, char and the bed matenad. Catalyst) coming from reactor bed are separata fr
the pyrolysis vapours and gases by cyclones, ar$ferred over the top to a combustion
reactor €.g. regenerator) [94]. In contrast to lab-scale buigbfiuidized bed reactors where
the catalyst stays in contact with the biomassimaigd char (containing most of the biomass
ash) during the operational run time without benmegenerated, circulating fluidized bed
technology offers a few seconds of contact (retenttime (<1 s [32]) between the catalyst
and the biomass. By the frequent regenerationcdbedyst should in theory retain most of its
original activity and contact the freshly-fed biogsaalways in an active state [72,86]. Unlike
in BFB reactors, high fluidization velocities in BB are not a problem for the small catalyst
particles, as both the char and the catalyst aentrte be passed through the cyclones.

Currently, a considerable interest exists in usnger reactors both for research and
industrial use [95]. Auger reactors offer someidatadvantages such as high heating rates
when heated by an externally supplied heat cart@ing compact and robust, less
consumption of carrier gas, feedstock flexibiliydaanticipated processing capacities from 50
to 100 tons/day [9997]. Practically, the biomass feedstock and the t@aier stay in contact
on the auger screw for a time necessary to comfiletbiomass devolatilization. Solids (heat
carrier and char) and pyrolysis vapours are thersiphlly separated at the end of the screw.
Continuously fed biomass feedstock is always brough contact with fresh (or regenerated)
catalyst, which makes the auger reactor technadpife suitable for CFP.

Several researchers have performed catalytic psiolyy laboratory and small scale
reactors. Table 2.2 shows the product yields obthfrom laboratory and pilot scale reactors
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for catalytic fast pyrolysis of woody biomass fed& using microporous zeoliteise{ ZSM-

5) (the process conditions of these studies cafoitwed in Tables A.2.3 and A.2.4 in the
Supporting Information). Zeolites are known to lfle@ive in cracking, deoxygenation, and
synthesis of aromatic hydrocarbons [44]. The reab@ncatalyst has been selected was that
the majority of the previous studies concerning tpgrading of biomass pyrolysis vapours
were performed with this type of catalyst. Mosttlése studies were carried out in semi-
continuous mode by using bubbling fluidized beccteatechnology. Here, semi-continuous
operation refers to the continuous biomass feeiittgga stagnant bed of catalyst (or catalyst-
sand mixture). Besides, the circulating fluidizesdibauger and conical spouted bed have been
applied, particularly for continuous CFP. Recenilgeet al. developed a unit with continual
catalyst addition and removal based on bubblinglited bed technology (entry no.9 in Table
2.2, entry no.15 in Table A.2.3) [98]. Olazar amdveorkers reported the catalytic pyrolysis
of sawdust in a conical spouted-bed reactor byguaitiZSM-5 catalyst [99] (entry no.12 in
Table 2.2, entry no.34 in Table A.2.3); for detaiée Section 2.3.2.1.2. In this reactor setup,
the bottom section of the reactor is conical inpghand a high velocity stream of gas (the
spout) induces circulation within the catalyst b&irculating fluid beds with continuous
catalyst regeneration system have been used foryHRappas and co-workers at CPERI
(entry no.10 in Table 2.2, entry no.9 in Table 8)264,32]. For this thesis, we conducted
continuous in- and ex situ catalytic fast pyrolysfswoody biomass (pine wood) based on
auger reactor technology by using a ZSM-5 based E&#@lyst (entries no.11 and no.15 in
Table 2.2, entry n0.33 in Table A.2.3, entry nar20able A.2.4) [100] (see Chapter 3 in this
thesis).
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Table 2.2. Product yields obtained from laboratory and piloale reactors for catalytic fast pyrolysis of woodbdipmass feedstock using
microporous (H)-ZSM-5 zeolites. Unless mentiondtkowise, the values avé.% on feed basis.

Feed Catalyst

. : LY NCG SY H,O Cco CO, Ref./
Entry Reactor Condenser Feedstock  intake (S|/_AI W%)  (W%)  (wto%) (WE.9%) (WE.%) (WE.9%) Remarks Year
(kg/h) ratio)
1 BFB Two condensers +  Hybrid 2 H-ZSM-5 34.2 51.6 Char: 8.59 (on - - - [101]
(in situ) ESP poplar 14.2 liquid 2010
wood basis)
2 BFB Chilled water Hybrid 0.1 H-ZSM-5 33.6 53.6 Char: 12to CO/ICQ,=3.5t04.4 - [76]
(in situ) condensers + ESP  poplar 12.6 15.5 (on 2010
+ coalescing filter wood liquid
basis)
3 BFB Two ethylene Hybrid - ZSM-5 239to 309to 183to 225to 46.7(on 35.5to For vapour [102]
(in situ)  9lycol condensers  poplar (7.78) 26.8 35.2 18.7 23.7 NCG 37.3 (on residence time 2012
(-8 °C) + ESP wood basis) NCG of6.5s
basis)
4 BFB Two ethylene Hybrid 0.25 ZSM-5  ~26.0 ~29.0 ~16.0 ~23.0 13.6 10.5 - [103]
(in situ)  glycol condensers  poplar (3.03) 2014
(-8 °C) + ESP wood
5 BFB Water cooled Pine wood 0.02 H-ZSM-5 15.1 49.5 Char: 13.9 - - - [104]
(in situ) ~ condenser + two (23) 10.4, 2008
glycol alcohol coke:
condensers (-5 °C) 11.2
6 BFB Three condensers Pine wood 0.06 ZSM-5 - - Coke: - 32.2 9.5 For T=600 °C [105]
(in situ)  inice bath + four 26.7 and 2012
condensers in dry WHSV=0.35
ice/acetone bath ht
(-55 °C)
7 BFB ESP + dry ice Mixed 0.12 ZSM-5 11.6 25.2 23.4 24.8 - - For the [106]
(in situ)  cooled condensers  wood catalyst-to- 2013
biomass
ratio=1.2
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Table 2.2. continued

Feed  Catalyst LY NCG  SY H,O CO  CO, Ref./
Entry  Reactor Condenser Feedstock |(r|1(tga;lr<])e St/iAo)l (WL%) WLO%)  (WL%%)  (WEob) (Wt%) (Wid) Remarks Year
8 BFB Water cooled European 0.7-0.8  ZSM-5 49.0 15.0 14.0 14.0 8.4 5.3 For WHSV=4.3 [86]
(insitu) ~ condenser (20 °C)  spruce (140) 2013
+ ESP + glycol
cooled condenser
(-5°C)
9 BFB A bubbler (0 °C)  Pine wood 2 ZSM-5 - - Coke: - 23.4 7.2 For WHSV=0.3, [98]
(in situ)*  *two condensers (slpm) 31.2 catalyst-to- 2014
in ice bath + six biomass ratio=6
condensers in dry
ice/acetone bath
(-55 °C)
10 CFB Heat exchanger Lignocel 0.33 ZSM-5 44.4 13.9 Char: 26.1 4.8 7.9 For solid heat [32]
(in situ)* (230 °C/s) + HBS (beech based 18.4 carrier/biomass 2002
stabilizer column wood FCC ratio=4.3
(-30 °C) originated) (10Wt.%
usy)
11 AS Water cooled steel Pine wood 0.2 ZSM-5 16.3 26.2 Char: 34 16.1 6.8 - [100]
(in situ)* tower and glass based 13.6, 2013
condenser + two FCC coke:
ethylene glycol 9.7
cooled glass
condensers
(-25 °C)
12 CSB Two water cooled Pine wood 0.12- H-ZSM-5 59.7 30.1 Char: - 1.94 12.23 For T=450 °C [99]
(in situ) coils + ice trap 0.36 (24) (including 10.3 2000
water)
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Table 2.2. continued

Feed

Catalyst

. : LY NCG SY H,O Co CO Ref./
Entry  Reactor Condenser Feedstock intake  (Si/Al A 0 % . o7\ Remarks
13 BFB+PB Dry ice/acetone Wood 0.22- ZSM-5 Qil: 5.1, 31.8 Char: 30.1 15 10.6 I situ [107]
(ex situ) condensers mixture 0.23 Aqueous 16.3, =500°C 1994
organics: coke:
4.1 114
14 BFB+PB Dry ice/acetone Wood 0.22- ZSM-5 Qil: 5.7, 30.6 Char: - 15 10.6 Ex situ [108]
(ex situ) condensers mixture 0.23 (50) Aqueous 17.1, =500 °C 1995
organics: coke:
16.2 114
15 AS+MB Water cooled steel Pine wood 0.2 ZSM-5 16.7 23.9 Char: 34.2 14.4 6.2 - [100]
(ex situ)* tower and glass based 15.7, 2013
condenser + two FCC coke:
ethylene glycol cooled 10.1

glass condensers
(-25 °C)

* Continuous processes. Unless indicated otherwisgg’s are expressed on feed basis. LY: liquid yieldyénic fraction), NCG: non-condensable gas yighd, solid yield,
BFB: bubbling fluidized bed, CFB: circulating fluitd bed, CSB: conical spouted bed, AS: auger sd®v packed bed, MB: moving bed (co-current floWhe sum of
LY+NCG+SY+H,0 represents the mass balance closure.
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As stated previously, the product distribution iIRRCof biomass and the quality of the
CFP-oil are likely dependent on the type and theperties of the catalyst, the operating
conditions, the reactor technology, and liquid edilon system i(e. condenser). A
comparison of results obtained from different stgd{such as in Table 2.2) could be
misleading due to the differences in the applieacess conditions and the scales at which
such data have been obtained. Such a comparison amdyup in an apple-and-pear
comparison. At the end, process reliability, anel phice and quality of the CFP-oil will be
decisive for the success of a technology developer.

2.2.3.3 Analytical reactorsfor CFP of biomass

Analytical pyrolysis, with a micro pyrolyzer dirégiconnected to a GC/MS system (py-
GC/MS), is a well-established technique to scregmous catalyst/biomass combinations by
performing simultaneous separation and identificatof produced compounds in the GC-
detectable vapour range. This helps to identify es@inthe main reactions that occur during
CFP and to understand how the catalysts behave amlacular basis leading to the
production of desirable hydrocarbons and other dot&s In this way, promising
catalyst/biomass candidates can be identified atetted for larger scale experimentation
[109,110]. Various biomass feedstock materials anddel biomass compounds.d.
cellulose, glucose, xylan, furagic.) have been tested batchwise by analytical pyrslys.
in packed bed and tubular quartz micro reactors {sbles A.2.1 and A.2.2 in the Supporting
Information). The results show promising yields aadlectivity for target compounds even
though the absolute quantification of pyrolysisduats have been less commonly applied.
Besides, mass balance closure appears usually sibpesThese types of reactors are not the
real representatives of industrial/commercial scabetors because they cannot be scaled up
[92]. They are designed specifically for laborat@xperiments. The differences in product
yields and distribution between analytical and dargcale reactor configurations were
attributed to the difference in heat and mass tean®2] which are not limiting in py-
GC/MS. Hence, the results obtained from py-GC/MSteays are likely incomparable with
the real bio-oil samples that are collected frora tondensers of larger scale units (for
detailed information and comparison see Chaptartfis thesis).

2.24 Thechoice of asuitable catalyst for CFP of biomass

The selection of appropriate catalysts for cataligst pyrolysis is one of the key factors
affecting the outcome of the process. Apart from @wst considerations, a successful catalyst
is characterized by three factors: activity, refegito the rate of reaction; selectivity, defined
as the percentage of the spent reactant that firendesired product; and stability, which is
determined by how quickly the catalytic activityctiees and determines how often the
catalyst has to be replaced [74]. In CFP of biomassideal catalyst should produce high
yields of liquid product with a reduced oxygen @it (by favouring CO, COand HO
production), suppress the formation of coke, anchimmze the amount of undesirable
compounds present in the product alg( ketones, acids, polyaromatics). The latter are
known to be detrimental for the direct use or fartbo-processing of bio-oil [72]. Moreover,
the catalysts need to be both mechanically andridlégr stable (resistance to deactivation)
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and robust (the behaviour of the catalyst upon esgigce regeneration cycles) to improve
overall lifetimes. To evaluate the catalytic adyvand/or to compare different catalysts,
turnover frequency (TOF), defined as the numbemofecules that react per active site per
unit time (in units of reciprocal time), can be digé4].

In large scale commercial CFP processes, all thailsleof catalyst performance,
deactivation modes, and regeneration protocols rhastarefully defined. Increasing the
catalytic conversion by improving of the solid/vapanterface chemistry will be the key for
catalyst improvements. By using a combination ofmpatational and experimental
techniques, rational design and development ofysatacan be accomplished [71].

2.3 Review on catalysisfor catalytic fast pyrolysis of biomass

2.3.1 Theroleof catalysisin CFP of biomass

In the petrochemical industry, heterogeneous csitalg widely used for the conversion
of heavy oil fractions into lighter fuels and chenls. Heterogeneous catalysts are those
where the catalyst and the reactants are in diffgghases, most usually a solid catalyst and
gas phase reactants. This phase difference bettheetwo allows the gaseous reactants to
react on the large surface area of the porous sat@yst and be easily separated from each
other afterwards [74]. In the last decades, imprgvithe quality of bio-oil using
heterogeneous catalysis has received considertdbtdian and a similar approach is carried
over to biomass fast pyrolysis where the heavy ergted volatiles from the decomposition
of biomass are deoxygenated and converted to tigltmpounds when in contact with a
suitable heterogeneous catalyst [72,111]. The ehgds in developing this technology
involve the development/optimization of advancetbps materials as efficient mono- and bi-
functional catalysts for the production of high-@gabio-oils from biomass. To this end,
cracking catalysts from different classes can leelus CFP research.

2.3.2 Catalysisused in CFP of biomass

Existing CFP research spans a wide range of catatysfeedstock combinations tested
over a range of temperatures and with various po@arameters in an effort to develop
fundamental knowledge on the effects of the catslyads candidate catalysts for CFP of
biomass, micro- and meso-porous acidic zeolitessop@ous materials with uniform pore
size distribution, microporous/mesoporous hybridenals doped with noble and transition
metals, basic (metal oxides), and metal catalyeste been investigated in the literature.
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2.3.2.1 Microporousacidic zeolites

Of the various catalysts studied in CFP of biontasdate, zeolite-based catalysts are
the most tested ones. This interest is due to trest availability, relatively low cost, and
facile tunability with respect to its acidity. Z&ek are shown to be effective in promoting
cracking and selective deoxygenation of pyrolytepeurs, resulting in the formation of
aromatics and increasing the C/O ratio [46,109]levkeeping the C/H ratio at an acceptable
level. In general, zeolites are crystalline alunsiticates (with trace metal ions) with three-
dimensional porous structures. They have variowsnehtal compositions and exhibit
catalytic activity in up to 50% of their volume [[232]. SiQ and AIQ, are the primary
building units of zeolites. They are linked by amtnon oxygen atom, forming a network of
well-structured interconnected cavities and chaonéimolecular dimensions (Fig. 2.4). Due
to the balance of anionic charge between the, & AIQ, units, zeolites have high active
site densities [40]. The presence of acid sitezdalites is of great importance for their
catalytic activity. Generally two types of acidesitexist. Brgnsted sites occur when the
oxygen atom between Si and Al in the frameworkriggnated, resulting in a hydroxyl group
[113]. In Fig. 2.2 it is shown how Brgnsted acitesiexert their catalytic activity in the
transformation of an oxygenated functional group @romatics. Lewis acid sites are formed
when the catalyst is dehydroxylated and dealumihaley consist of extra-framework Al-
species and are able to accept electrons. Figghd®&s a dehydroxylated zeolite with a Lewis
acid site [114].
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Fig. 2.2. Example of aromatics formation out of an oxygengtgalysis compound catalysed
by Brgnsted acid sites (HA) in zeolites [115].

Fig. 2.3. Molecular structure of a dehydroxylated zeolitéhwAlO+ as Lewis acid site [114].

To achieve the desired reaction selectivity, tmengjth distribution and the density of
these acid sites can be controlled [24]. Sincer¢letion selectivity depends on the size and
architecture of the pores, the pore sizes of zfit. 2-10 A) make them suitable in terms of
their shape selectivity [116].
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Fig. 2.4. Structures of four selected zeolites and theirropiore systems and dimensions.
Scheme was taken from [116]. Pore entrance sigiés in nanometersifn). (1 nm = 10 A).

Several physical and chemical properties of heegus catalysts, such as; structure,
particle size, pore size.€ porosity, shape selectivity), acidityg nature of the active sites,
viz. Brgnsted and Lewis), mesoporosity, surface ared, metal-support interactions have
been reported in CFP literature as the factors lwhignificantly affect the reaction pathway
and product selectivity [63]. The roles of theseygibal and chemical properties on the
catalytic chemistry must be well understood if ioyed catalysts are to be designed for
biomass conversion. Since this subject is out efsitope of this review, readers are directed
to the review of Jens Weitkamp [116].

2.3.2.1.1 Reaction mechanism of CFP of biomass over microporous acidic zeolites

CFP of biomass is composed of two stepsapid heating of biomass particles resulting
in the formation of volatile organics in vapour pba.e. primary pyrolysis vapours), non-
condensable gases (mainly CO, ££8,, and CH), and chariji) the interactions between the
released volatile organic vapours and the catabaling to catalytic conversion reactions.
The vapour-catalyst interactions include oxygenatgsring the pores of the catalyst where
they are reformed to deoxygenated compounds.
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A proper understanding of the detailed reaction lraatsms and kinetics is important
for the design of catalysts. Although the reactmechanism of catalytic conversion of
biomass via CFP is not fully understood, therevidence of some general reaction steps. As
an example, the reaction chemistry for the produactf aromatics and olefins from woody
biomass via CFP using an acidic zeolite is showfrigh 2.5. In this scheme, cellulose is
thermally decomposed (or pyrolysed) via dehydrati@actions occurring under high
temperatures and high heating rates to form smailtenary pyrolysis products such as
anhydrosugars and other condensable oxygenatedugisod{.e. dihydroxyacetone,
glyceraldehyde). The anhydrosugars then underggddation and re-arrangement reactions
to form intermediate oxygenatesz. furanic compoundd.g. furans, 2-methylfuran, furfural,
furfuryl alcohol), smaller aldehydes, and@ Such decomposition reactions occur either
homogeneously or on the catalyst via acid catalydeldydration, decarbonylation and
decarboxylation. Hemicellulose also contributeghe formation of furanic compounds by
thermal dehydration. These dehydrated speciesdifferse into the zeolite pores where they
undergo a series of acid-catalysed oligomerizataetgarbonylation, decarboxylation, and
dehydration reactions to formy{C, olefins, monocyclic aromatics,s€ompounds, CO, CQO
H,0, and coke at the active sites. Isotope studig3Féf for'?C and™*C glucose have shown
that oxygenates are all mono-isotopic and the pred@aromatics are a random mixturéaf
and’C [117]. This reveals that the monocyclic aromagidrocarbons (MAHSs) are produced
from a ‘hydrocarbon pool’ of decomposed oxygenatechpounds. The lignin fraction of the
biomass primarily forms monomeric compounde. (phenols), as well as coke and £O
through free radical chemistry. Produced phenoén tindergo acid-catalysed dehydration
(H20 production), decarbonylation (CO production), aletarboxylation (C@production)
reactions to form mono aromatic hydrocarbons. la tlase of decarbonylation, a single
carbon atom is consumed to remove a single oxytmn.abviously, the removal of oxygen
in the form of CQ would be the preferable route. Oxygen removaldahydration is in turn
less desirable than G@r CO formation because the highly energetic aarbgdrogen bonds
in the bio-oil should be preserved for the catalybgdrocarbon forming reactions [100].
Coke formation is the major reaction competing wiité production of target compound.(
olefins and aromatics) and must be minimized. it lsa formed both in the vapour phase and
on the catalystife. polymerization). Moreover, coke reversibly deaatés the active sites of
the catalyst by pore blockage and shielding thvagites; this results in the loss of catalytic
activity. Polycyclic aromatic hydrocarbons (PAHe)Y( naphthalene) are formed in a second
series of reactions of MAHs with other oxygenates acid catalysed polymerization
reactions. The production of PAHs is undesirablel anust be minimized. They are
potentially carcinogenic [43] and cause a decredase the yield of MAHs
[45,85,92,105,118,119].
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The yield of useful petrochemical producit®.(olefins, monoaromatics) and coke is a
function of the effective hydrogen-to-carbon rait/Cer) [121] of the biomass feedstock. It
is defined inEqg. 2.1, where H, C, and O are the moles of hydrogarhan, and oxygen
present in the feed, respectively:

H/Cet = (H-20)/C  Eg.2.1

This ratio can be used to give an indication of thbea certain biomass feedstock (or a
mixture of biomass and liquid hydrocarbons) carupgraded easily using zeolite catalysis.
The H/G¢ ratio of biomass ranges from 0 to 0.3, whereasdhpetroleum-derived products
is from 1 (for benzene) to slightly over 2 (foruig alkanes) which reveal that biomass is a
hydrogen-deficient feedstock. Feedstock with ancHf@tio of less than 1 would be difficult
to upgrade over a zeolite catalyst due to a rapattivation of the catalyst [122]. Co-feeding
of particular hydrocarbons like methanol, 1-propatebutanol, 2-butanoktc. together with
the biomass can improve the hydrocarbon pool ance@se the overall Hi ratio. This
would favour the petrochemical (aliphatic and/avraatic hydrocarbons, olefins) yield from
CFP of biomass [85,105].

2.3.2.1.2 CFP research based on microporousacidic zeolites

A variety of microporous zeolites have been tesgseth as ZSM-5, FCC, Y- arfi
zeolites, mordenite, ferrierite, SAPO (silicoaluophmosphate), USYetc. Microporous acidic
zeolites can also be modified by incorporation oftats as promoterse.§. Ga/ZSM-5,
FeCrCu/FCC, Re-USY, Co/HZSM-5, Fefi{-Ga/H-Y). The literature dealing with the
utilization of microporous zeolites (both mono- dneunctional) for CFP of woody biomass
as feedstock at varying process conditions is suimethin Tables A.2.3 (in situ studies) and
A.2.4 (ex situ studies) in the Supporting Inforroati

ZSM-5 has been used more than any other micropazeakte because it shows the
best overall performance in terms of thermal sitgbildeoxygenation capability and the
production of aromatic hydrocarbons [47,62]. Agloleet al. [101] (entry no.1l in Table
A.2.3, entry no.l in Table 2.2) tested the perforogaof H-ZSM-5 catalyst in a bubbling
fluidized bed reactor (in situ) at 450 °C and oh¢al 34.2nt.% liquid, 51.6wt.% of gas, and
14.2wt.% of combined char and coke yields. Compared tathecatalytic bio-oil produced
in the same set-up under identical process comditiocatalytic oils were more stable, less
acidic (total acid number, TAN decreased from 9@1¢, exhibited insignificant aging over
10 months, had low viscosity, contained mainly st® and methyl-substituted phenols.

A crucial parameter in the development of catalyetsCFP is the pore size of the
catalyst because it can limit the catalytic seltsti In case of medium pore zeolitese(
ZSM-5, ZSM-11), large-molecular oxygenates canmib¢rethe pores and could polymerize to
form coke on the catalyst surface. That would desgethe hydrocarbon yield and cause a
rapid deactivation. On the other hand, mesoporadsn@acroporous catalysts can crack large
molecules but cannot convert them into desired atem (.e. aromatics, olefins) [123]. In
another study of Agblevaat al. [76] (entry no.2 in Table A.2.3, entry no.2 inbla 2.2), it
was observed that the pore size of the catalystedla critical role in catalytic pyrolysis.
Lignin derived intermediate products (radicals,sioand unstable molecules) larger than the
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pore size of the catalyst could not diffuse to #otive sites of HZSM-5 catalyst and were
therefore not cracked into gaseous products. Homyvéve carbohydrate derived intermediates
smaller than the pore size of the catalyst werevexiad into gaseous products such as carbon
dioxide, carbon monoxide, and-C, hydrocarbons.

Atutxa et al. [124] (entry no.35 in Table A.2.3) studied théeet of H-ZSM-5 zeolite
on the in situ pyrolysis of pine wood at 400 °Ceylproposed a kinetic model that combines
thermal pyrolysis with the subsequent catalytiagfarmation of the products obtained in the
first step in a conical spouted bed reactor. Thieysexamined how the amount of catalyst,
i.e. different amounts of acid sites in the bed makefi@he reactor, affected the yields of the
various product phases and their chemical compasitt was found that higher catalyst-to-
feed ratios increased the gas yield (mainly CO @&d®}), whereas the total liquid yield
decreased notably. The decrease in the liquid yeld attributed to the transformation of
‘heavy liquid’ to ‘light’ liquid and gases. The ahgield was fairly constant for each catalytic
experiment but lower than the non-catalytic onee TGO/CQ ratio increased with increasing
catalyst mass. Overall, the bio-oil obtained thitotige catalytic pyrolysis of pine wood with
H-ZSM-5 was less oxygenated than the non-catahyteoil. However, the light fraction was
more severely deoxygenated than the heavy fractdnich is an indication of the higher
global reactivity towards the compounds in thetlifyaction, especially of alcohols and acetic
acid. Kinetic constants for the developed kinetaded were also reported.

Olazaret al. [99] (entry no.34 in Table A.2.3, entry no.12ZTiable 2.2) studied catalytic
pyrolysis of pine wood over H-ZSM-5 catalyst in @ntcal spouted bed reactor at 400, 450,
and 500 °C. The utilization of catalyst increaskd gas yield, which was accompanied by
decreases in the yields of liquid and char. Thepred 30.8Mm.% total organic yield (12%
carbon vyield for aromatics) at 450 °C. Partial degenation of the produced bio-oil was
achieved and reported as higher water content. @oadpto the non-catalytic pyrolysis, €O
production decreased and CO production increasedSM-5 was found to be efficient for
the production of light hydrocarbonsJGnd aromatics.

Of the previously mentioned catalyst propertieg #tidity of the catalyst plays the
most crucial role in the upgrading reactioAko et al. [125] (entry no.7 in Table A.2.3) used
the proton form of beta zeolite (H-Beta) as a gatafor the pyrolysis of pine wood in a
bubbling fluidized bed reactor at 450 °C, and imigaged the influence of the catalyst acidity
on the yields of pyrolysis products and on the props of the bio-oil formed. As an indicator
of catalyst acidity, varying silica-to-alumina iai(.e. Si/Al ratio, SAR) of 25, 150, and 300
were tested. Overall, the organic oil yield decedlagn the presence of catalysts. It was
observed that with the increase in the acidity (gl@se in the Si/Al ratio), catalysts tend to
form less organic oil, and respectively more gage¢cwater and PAHSs.

The chemical composition of bio-oil depends alsal@ structure of the acidic zeolite
catalysts. Ahcet al. [104] (entry no.8 in Table A.2.3, entry no.5 iable 2.2) examined the
influence of different structures of microporousdac zeolites in proton forms such as H-
Beta, H-Y, H-ZSM-5, H-MOR i(e. H-mordenite) via catalytic pyrolysis of pine wooda
bubbling fluidized bed reactor at 450 °C. In thegance of both zeolites, a decrease in the
organic fraction of the liquid product was observ@dt of the four different zeolites tested
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under identical process conditions H-ZSM-5 gavehtiglest liquid yield and exhibited lower
selectivity to acids and alcohols and higher seligtto ketones. H-MOR was found to be
effective for minimizing the formation of PAHs agtlded smaller quantities of PAHs than
the other zeolites tested. The nature of the cokmdd on different zeolites was also studied
by dissolving the zeolite in hydrofluoric acid anthen dissolving the coke in
dichloromethane. Among the four zeolites, H-Y zieoliad the highest coke content (H-Y>H-
Beta>H-MOR>H-ZSM-5). This was attributed to its lmggt initial surface area and large
cavities in the structure of H-Y allowing larger lecules to diffuse into the pores of the
catalyst.

Samoladeet al. [69] (entry no.29 in Table A.2.3, entry no.15Tiable A.2.4, entries
no.3 and no.12 in Table A.2.5, entries no.16 an@%an Table A.2.6) studied a range of
catalysts (microporous, mesoporous and transitietals) in the catalytic pyrolysis of beech
wood (Lignocel HBS 150-500) in a packed bed reaatmt showed that H-ZSM-5 was a more
suitable catalyst for aromatics production thandtieer ones. H-ZSM-5 completely removed
water and oxygen from the organic liquid and cotegrundesirable carbonyls to
hydrocarbons at the applied conditions (see Takk3\but caused a significant decrease in
the organic liquid fraction and increase of watea (dehydration). This is not surprising as
the catalysts promotes cracking reactions, leattiry decrease in the yield of organic liquid
fraction due to the removal of oxygen. Besidestal catalysts were found to increase gas
production at the expense of liquid generation.

In CFP literature, various types of metale.(Re, Ga, Fe, Na, Ni, Co, Pt, Mo, Cr, and
Cu) have been incorporated mainly in FCC and ZSkédlites, converting them from being
monofunctional to bifunctional catalysts, wheredie support itself acts as a catalyst as well.
The use of metals controls the strength of the adies and promotes the deoxygenation
required for the formation of hydrocarbons. It @behhance both, the production of higher-
quality bio-oil and the selectivity for the prodiset of MAHs [47]. Moreover, the
bifunctional activity (acid and metal functionstees the formation of coke [126]. Chestig
al. [127] (entry no.13 in Table A.2.3) tested theligat modified Ga/ZSM-5 in the catalytic
pyrolysis of pine wood in a bubbling fluidized batd550 and 600 °C and found that the rate
of aromatization increased with the modification ZB8M-5 with gallium. Ga seemed to
increase the rate of decarbonylation and olefimat@ation, while ZSM-5 catalysed the
remaining reactions for the production of aromateg. oligomerization and cracking).

To facilitate large scale production of refinergdg intermediates, commercial FCC
(fluid cracking catalyst) can be utilized in CFPbadmass. The acidic Y-zeolite is the primary
active component in FCC and ZSM-5 is widely used agpplement [102]. The bimodal pore
size distribution, arising from the combinationmicroporous and mesoporous structures, is
the reason for the effective behaviour of thesalgsits. Compared to ZSM-5 catalysts, FCC
produces less bio-oil and higher amounts of cok€R# of biomass, due to its larger pore
sizes (7.4 um) and higher BET surface area. Oblkjptlee amount of FCC used within the
process must be carefully controlled in order torojse the yield of bio-oil versus its quality
[40,82]. Lappaset al. [64] (entry no.10 in Table A.2.3) investigatede tinfluence of
temperature (450 and 500 °C) in non-catalytic (witlta sand) and catalytic fast pyrolysis of
beech wood in the presence of a FCC catalyst @iftked catalyst-to-feed weight ratio equal
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to 16) in a continuously operated circulating flaetl bed reactor. In the presence of FCC
catalyst, bio-oil yield (water+organics) decreasemn 74 wt.% to 46.5wt.% at 500 °C. The
catalytic bio-oils contain more hydrocarboms. (2 wt.% on organic fraction) and less heavy
oxygenated compoundsal 20 wt.% on organic fraction) compared with the non-cdtaly
bio-oil. Due to its high activity, FCC catalyst neased gas, water, and carbonaceous solids
(coke and char) production at the expense of biokowas also found that FCC favoured
decarbonylation and decarboxylation reactions whieBulted in more CO and GO
production. With the temperature increase from #%®00 °C, CO vyield increased from
around 5nt.% to about 10Gvt.%.

In another work of Lappaat al. [32] (entry no.9 in Table A.2.3, entry no.10 iable
2.2), the effect of a FCC catalyst and a ZSM-5 8ds€C (10wt.% USY) additive were
investigated in catalytic pyrolysis of beech woadgfiocel HBS 150-500) in a circulating
fluidized bed reactor (continuous mode). The mdisepvation was that in the presence of a
catalyst, water, non-condensable gases (specyfiCdl and CQ), coke on spent catalyst, and
char increased. On the other hand, catalysts fadotine deoxygenation reactions and
increased the quality and the composition of bloremarkably. The effect of catalyst-to-
biomass ratio was also studied and was concludsdttis an important parameter affecting
the product yields and selectivity. It was reporthdt an increase in catalyst-to-feed ratio
resulted in higher yields of water and gas, loweke; and an organic fraction with less
oxygenated compounds, more hydrocarbons and lesg loxygenates. Stability tests (based
on viscosity measurements) revealed that the gtabfla bio-oil is not only a function of the
concentration of some chemical groups (carbonyis)atso of the molecular weight of these
groups. It was concluded that the stability of e-dil depends on the pyrolysis experimental
conditions (temperature, catalyst-to-biomass ratia) the catalyst type and activity.

Horne and Williams [128] (entry no.5 in Table ARgtudied the ex situ catalytic
pyrolysis of wood waste over H-ZSM-5 in a dual zdmabbling fluidized bed reactor.
Pyrolysis (primary) and packed bed reactors formlgdt vapour phase treatment were
operated at 550 and 500 °C, respectively. The teffecatalyst dilution on the product yields
was examined and found to be beneficial for thelpetion of hydrocarbons. They reported
that in case of ex situ treatment of pyrolysis wappoxygen removal takes place mainly as
H,O production at lower catalyst bed temperatures andCO and C@at higher bed
temperatures. They observed a shift towards lowaecalar weight species with increasing
catalyst bed temperatures as well [107] (entry mo.Rable A.2.4, entry no. 13 in Table 2.2).
Detailed analysis of the upgraded bio-oil showeat,thesides the production of economically
valuable chemicals in high concentrations, the gtyaof undesired PAHs was favoured with
an increasing catalyst bed temperature [129] (evdr$ in Table A.2.4).

In another study of Hornet al. [108] (entry no. 4 in Table A.2.4, entry no. MTiable
2.2) the same set-up was used to test ZSM-5 farlysis vapours treatment in the presence
of methanol. A controlled flow of methanol was adde the pyrolysis vapour stream just
before the catalytic reactor. A catalyst-to-feetbréweight of the catalyst used/weight of the
biomass fed) of 1.16 was used in the experimentth e addition of methanol, a threefold
increase in aromatic yield was reported comparedh& non-catalytic pyrolysis. In all
catalytic experiments, low organic liquid yieldsa(5 wt.%) were reported. There was an
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overall increase in the hydrocarbon products indgdalkylated phenols and aromatics. The
alkylated compounds are thought to compete withptiegluction of PAHs and which would
explain the corresponding decrease in 3-, 4-, andgpPAHs. Co-processing of pyrolysis
vapours was also investigatedz. by the injection of varying amounts of methanohisT
increased the contents of water and alkylated loathmns, and decreased CO and, CO
yields. Liet al. [51] (entry no.6 in Table A.2.4) also studied thesitu upgrading of sawdust
originated pyrolysis vapours over an H-ZSM-5 zeoiit a bubbling fluidized bed reactor. At
500 °C and a WHSV of 31 the liquid yield reached the maximuoa(46 wt.% on biomass
basis) and a remarkable decrease in the compouttdgigh oxygen contents were observed.
In comparison to the non-catalytic bio-oil, a dese in the amounts of acids (from 14.5 to
3.0 wt.%) and an increase in the aromatics (from 0.5 t& %6.%) were observed in the
presence of the catalyst.

Mihalcik et al. [109] (entry no.10 in Table A.2.4) tested fivéfelient zeolites (H-ZSM-
5, H-Y, H-Beta, H-Mordenite, and H-Ferrierite) ftre catalytic fast pyrolysis of various
biomass feedstock including oak wood on a micrdesdehe experiments were performed ex
situ in a Py/GC-MS (Pyroprobe followed by a packathlyst bed) with a catalyst-to-biomass
ratio of 5. It was reported that, in terms of theduction of aromatics, H-ZSM-5 was the
most effective catalyst and the activity was in ftbkowing order: H-ZSM-5 > H-Beta > H-
Mordenite > H-Ferrierite ~ H-Y. They also showedtthwith the increase of the catalyst
acidity (decrease in Si/Al ratio), the deoxygenatud the vapours was favoured, a step in the
reaction pathway to aromatic hydrocarbons.

Application of metal modified microporous acidicoh&es in the ex situ catalytic
pyrolysis of woody biomass has also been repofedk et al. [130] (entry no.7 in Table
A.2.4) performed the ex situ catalytic upgradingpgfolysis vapours over H-ZSM-5, H-Y
and their gallium modified counterpartse( Ga(1%)/H-ZSM-5, Ga(1%)/H-Y) in a packed
bed reactor, installed in the upper part of a bugifluidized bed reactor operating at 475 °C.
H-ZSM-5 was shown to be more effective in upgrading bio-oil than H-Y; oxygen was
mainly removed from the bio-oil by the increaseddurction of HO, CO and CQ@ Under
identical process conditions, the introduction ofwvl% Ga into ZSM-5 ite. Ga/ZSM-5)
produced slightly more bio-oil (including waterjath H-ZSM-5 and had better selectivity to
detectable aromatic hydrocarbons; benzene derestike toluene and Xxylenes were
increased. The reason for the increased selectowgrds benzene derivatives was explained
by the positive impact of Ga on benzene alkylatidawever, Ga/ZSM-5 resulted in a lower
degree of deoxygenation compared to that of H-ZSNIHis was explained as the decrease in
the number of strong acid sites of H-ZSM-5 causgdhe impregnation of Ga. In another
study, lliopoulouet al. [131] (entry no. 18 in Table A.2.4, entry no.ld Table A.2.6)
incorporated transition metals such as nickel amiohlt into ZSM-5 (1, 5, 1Wt.%). The
presence of metal increased the production of atiosnderived from lignocellulosic biomass.
This was attributed to the effect of these traasitinetals in promoting the dehydrogenation
reactions.
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Aho et al. [132] (entry no.l in Table A.2.4) investigatece tmfluence off, Y, and
ferrierite zeolites, as well as their iron modifiedunterpartsi(e. H-Fer, Fe-H-Fer, H-Y, Fe-
H-Y, H-B, Fe-Hf) during the ex situ upgrading of pyrolysis vapoofgpine wood in a dual-
bubbling fluidized bed reactor at 450 °C. For alberiments, a fixed catalyst-to-feed ratio of
0.11 was used and the bio-oil yields ranged betwi@&h and 52.Wt.% (including the water).

It was suggested that the pore size of the zegiiiaged an important role in the activity for
the deoxygenation of the pyrolysis vapours andveformation of coke3-zeolite, which has
the largest pore size among the three zeolites, fmasd to be the most active in the
deoxygenation reactions, followed by Y and ferteerOn the other hand, ferrierite, which has
the smallest pore size, resulted in the lowest ana@i coke formation. Although iron
modified zeolites had negligible effects on thedgenation, they formed more coke than
the parent catalysts. In the presence of all csislyhe cracking effect was observed as the
decrease in the formation of levoglucosan. Iron ification on zeolites led to an increase of
methyl-substituted phenols, a decrease in methokgtguted phenols and did not affect the
CO/CQ ratio.

French and Czernik [59] (entry no.19 in Table A)2ekted forty different commercial
and laboratory synthesized catalysts for their bgdrbon production performance in CFP of
lignocellulosic biomass using a tubular quartz miezactor coupled with a molecular beam
mass spectrometer (MBMS). In accordance with theifigs of Ahoet al. [104], French and
Czernik showed that ZSM-5 (parent and modified)ultesl in better deoxygenation of
lignocellulosic biomass than that of other testadjé pore zeolites. Maximum hydrocarbon
yields of 16wt.% (incl. 3.5wt.% toluene) were obtained with Ni, Co, Fe, and Galifrexl
ZSM-5 catalyst. It was concluded that the presafdeansition metals would affect the mode
of oxygen rejection by producing more Cand less B, making in that way more hydrogen
available for incorporation into hydrocarbons.

Section conclusion:

Microporous acidic zeolites, (H-)ZSM-5 in particylare the most tested catalysts in
CFP research. In general, they favour the prodaaifdess oxygenated, more stable and less
acidic liquid products compared to non-catalytio-bil. Like most of the catalysts used in
CFP of biomass, they promote cracking reactioraglitey to a decrease in the yield of organic
liquid fraction due to the removal of oxygen. Howegwhe amount of light hydrocarbong;)C
and aromatics increase, while the production oflgcsugars and PAHSs is suppressed; this
indicates the production of a liquid product witbetter quality.

Some catalyst properties such as the pore sizehendcidity (Si/Al ratio) affect the
performance of microporous acidic zeolites. Theepgize of the microporous acidic zeolites
plays an important role in the activity for the gggenation of the pyrolysis vapours and in
the formation of coke. Small pore sizes preventdiffsion of large molecules.é. lignin
derived intermediates; radicals, ions, and unstablgecules) to the active sites of
microporous catalysts (particularly H-ZSM-5) andnbe from being cracked to lighter
products. On the other hand, the carbohydrate elgrintermediates, which are often smaller
than the pore size of the catalyst, are easily edad to gaseous products such as carbon
dioxide, carbon monoxide, and-C, hydrocarbons. Some microporous zeolites such s H-
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and H-Beta allow larger molecules to diffuse irtte pores of the catalyst due to their large
pore entries and large cavities in their structbt@wever, this favours the formation of coke.
Microporous acidic zeolites tend to form less organil with a reduced oxygen content, and
more gas, coke, water and PAHs when their acidiipcreased (decrease in the Si/Al ratio).
The increase in catalyst-to-biomass ratio resualtagher yields of water and gas, and a lower
organic fraction containing less oxygen, more hgdrbons, and less heavy oxygenates. The
reason for the decrease in the liquid yield in tid@se is the formation of light liquid fraction
and partially gases at the expense of the heauidliljaction. The incorporation of metals in
microporous acidic zeolites affects the mode ofgexyrejection by producing more ¢énd
less HO, making in that way more hydrogen available farorporation into hydrocarbons.
The presence of metals reduces the formation o eskwell.

2.3.2.2 CFP research based on mesoporous materials

In recent years, mesoporous materials, with poressimuch larger than that of
traditional microporous zeoliteg.¢. 30 A pores in AI-MCM-41 compared . 5.5 A for
ZSM-5 [44]), have attracted great interest for ithpgitential to convert the large molecules in
the pyrolysis vapours, particularly lignin derivedmpounds. It is supposed that these
molecules can enter easily, be reformulated, antdtfex catalyst matrix with less chance of
coke deposition and blocking of the pores. From @¥P literature, it appears that
mesoporous materials (MCM-41, SBA-15, MSitk.) and their metal modified counterparts
(e.g. AI-MCM-41, Cu-Al-MCM-41, Al-SBA-15) have been stigil widely because of their
high surface areas, large pore sizes (>2 nm) anderate acidities. In general, these
mesoporous catalysts are less active than micrapo&SM-5 under similar conditions.
However, careful tuning of the acidity and the psime of these catalysts could result in high
product yields/selectivity [85,133]. The literaturencerned with mesoporous materials (both
mono- and bi-functional) for CFP of woody biomassasder different process conditions, is
summarized in Table A.2.5 in the Supporting Infotiora

Among the mesoporous acidic materials, MCM-41 le®ived most attention in the
CFP literature. MCM-41 materials possess high serfareas (>1000 fg'), moderate
acidity, and a hexagonal array of uniform mesopdies size of which can be tailored in the
range of 1.4-10 nm [62]. Alumina incorporated iM@€M-41 materials; namely AI-MCM-41
catalysts, showed promising deoxygenation capgslitas well as selectivity for specific
compoundsi(e. phenolics), although they typically have lowerrthal stability and acidity
than that of the microporous zeolitesg( ZSM-5). The nature of the acid sites in AI-MCM-
41 (both Brgnsted and Lewis acid sites are presdeat)a positive effect on the molecular
distribution of the resulting bio-oils [134]. llioplouet al. [133] (entry no.14 in Table A.2.5)
studied the effects of acidity (different Si/Al ieg) and steam stability of AI-MCM-41
materials for the ex situ upgrading of pyrolysigpears in a packed bed reactor operated at
500 °C. The results obtained were compared to tbbB#8CM-41 and non-catalytic pyrolysis.
They found that AI-MCM-41 materials with lower attids (high Si/Al ratio) enhanced the
production of the organic phase of the bio-oil am@&mical composition of it (increase in
phenols and reduction of corrosive acids) whilehbigacidities favoured the conversion of
pyrolysis vapours toward gases and coke. Moderatans reforming over Al-MCM-41
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materials resulted in a reduction of their surfacea and number of acid sites by 40-60%.
However, the steamed samples were still activgpgrading of biomass pyrolysis vapours.

Antonakou et al. [135] (entry no.11 in Table A.2.5) examined thraeMCM-41
materials with different acidities (Si/Al ratios @D, 40, and 60), and three metal containing
(Cu, Fe, and Zn) AI-MCM-41 samples as catalysts thwr ex situ CFP of beech wood
originated Lignocel HBS in a packed bed reactorajrey at 500 °C. Lower Si/Al ratios and
the consequent higher surface acidity of the catsalywere found to increase the production of
phenolics, as well as the product yields. Adverdelys acidic AI-MCM-41 catalyst favoured
the production of aromatics. All tested catalystsulted in a decrease in the undesirable
fractions of acids, carbonyls and heavy compouitie incorporation of transition metals
decreased the production of aromatic hydrocarbadsPadHs. This was attributed to a redox
transformation of the bulky PAH molecules, formirgmaller products from their
decomposition. Al-MCM-41(20), Fe-Al-MCM-41 and CuU-MCM-41 showed the best
performance in terms of the production of phenaold phenolics. In addition to that, Cu-Al-
MCM-41 caused the largest increase gfilithe gaseous product which is inhibitive for the
production of hydrocarbons. In the same reactor aittl identical process parameters,
Triantafyllidis et al. [134] (entry no.13 in Table A.2.5, entry no. h6Tiable A.2.4) performed
the ex situ upgrading of pyrolysis vapours using twesoporous aluminosilicate materials
(MSU-S/Hsea, MSU-S/MEea) assembled from zeolite beta seeds, and compdred t
performances with that of AI-MCM-41. The MSU-S dgasés led to high coke yields and
significantly reduced the organic phase of the diaczompared with non-catalytic pyrolysis
and with the AI-MCM-41. The MSU-S materials showadh selectivity towards aromatics,
heavy fractions, coke and PAHSs, which was attrithutestronger acid sites than those of Al-
MCM-41. However, MSU-S materials produced negligildmounts of acids, alcohols,
carbonyls, and very few phenols. This work revedledt the activity and the product
selectivity of MSU-S materials are insufficient fiveir use in catalytic biomass pyrolysis.

Adam et al. [136] (entry no.7 in Table A.2.5) studied the @tu pyrolysis of spruce
wood in a Py-GC/MS system in the presence of faiferént AI-MCM-41 catalysts modified
by pore enlargement and the incorporation with eoppto the structurei.eé. AI-MCM-41
(20), MCM-41 with spacer, MCM-41 with g Cu-Al-MCM-41). In the presence of all
catalysts, the yield of furans and acetic acideased while the yield of high molecular mass
phenols (syringyl and guaiacyl) decreased. Levaigan, one of the main pyrolysis products
of cellulose, was completely eliminated while aistiincrease in the hydrocarbon yields was
observed. All catalysts favoured the removal of ewarom hydroxyl group containing
molecules. Pore enlargement and the incorporatiaopper reduced the contents of acetic
acid and water in bio-oil and the production offfegmolecular mass products was favoured.

Samoladaet al. [69] (entry no.3 in Table A.2.5) reported that-MCM-41 catalyst
effectively removed the acids from the bio-oil. Hoxer, this catalyst exhibited poor
hydrothermal stability (leading to dealuminatiory eompared to ZSM-5, suggesting that
further upgrading of this material is needed f& @FP process. In order to resolve the related
drawbacks, catalysts containing both the benefipralperties of zeolites and mesoporous
catalysts must be developed. Leeal. [137] (entry no.6 in Table A.2.5) synthesized
mesoporous materials from zeolites (MMZs) using mmarcially available beta and ZSM-5
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zeolites. They used them for ex situ CFP of woorynass in a fluidized bed reactor. The
MMZs (i.e. Meso-Beta and Meso-ZSM-5) were found to be pramgistatalysts for CFP
because they showed excellent activity, stability aelectivity for the desired formation of
phenolics and reduction of oxygenates if compargd M-MCM-41. Parket al. [138] (entry
no. 10 in Table A.2.5) synthesized a mesoporousierote framework inverted (MFI) zeolite
and compared its activity with H-ZSM-5 and MI¥£.s for the ex situ catalytic pyrolysis of
radiate pine in a packed bed reactor operating0@t . The mesoporous MFI zeolite
exhibited the highest activity in terms of deoxygeon and aromatization. Although the yield
of organic fraction of bio-oil decreased with MEijs zeolite showed pronounced selectivity
for highly valuable aromatics (BTX). The incorpooat of gallium into the MFI zeolite (Ga-
MFI) favoured the yield of the organic fraction amucreased the resistance to coke
deposition.

SBA-15 is known to have long-range order, large mdispersed mesopores, thick
walls (typically between 3 and 9 nm), adjustableepsize from 5 to 30 nm, and a higher
hydrothermal and thermal stability than MCM-41 typeterials [68,72]. Luet al. [139]
(entry no.8 in Table A.2.5) tested parent and ahimmn modified Al-SBA-15 catalysts with
different acidities (Si/Al ratios of 10, 20, 35,cr0) in a Py-GC/MS system at 500 °C with a
fixed catalyst-to-feed ratio of 1. All AI-SBA-15 rtezials were found to be more active than
the siliceous SBA-15. With decreasing Si/Al ratioe cracking effects of the catalysts were
enhanced. In the presence of SBA-15 catalystsyi#ids of heavy furans, light phenols, and
light carbonyls and ketones decreased, while tlbsight furans, furfural, light phenols and
acetic acid increased.

Section conclusion:

Mesoporous materials offer large pore sizes andh Isigrface areas. These unique
properties allow the conversion of large moleculeg. lignin derived compounds) and
suppress the formation of coke. Mesoporous masewéh lower acidities (high Si/Al ratio)
found to enhance the yield of CFP-oil and the phenand aromatic compounds in it.
Incorporation of metals to mesoporous materialsgenmeral, results in a decrease in the
production of aromatics, PAHSs, acids and the watelCFP-oil. Further optimization is
required to resolve the problem of poor hydrothémstebility of these catalysts.

2.3.2.3 CFP research based on basic (metal oxides) and metal catalysts

The synthesis of basic zeolites from their reactwwith ammonia at elevated
temperatures provides unique activity and seldgtiar base-catalysed reactions [140]. Base
catalytic activity has been shown to lead to mudaphdér conversions compared to acid
catalysts in other reactions resulting in biofueimpounds, such as aldol condensation and
transesterification [141]. Moreover, transition alebxide based catalyste.d. ZnO [142],
CoMo and NiMo [143]) have been used for the produmcof liquid fuels from biomass via
CFP. The literature regarding the utilization o$ioacatalysts (metal oxides) are summarized
in Table A.2.6 in the Supporting Information.
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Nokkosmakiet al. [142] (entries no.8 and 9 in Table A.2.6) studibd influence of
three different zinc oxide catalystse( ZnO, ZnO (0.5% Mg), ZnO (15% alumina)) to
investigate their effects on the composition andrenstability of the bio-oil. The pyrolysis
vapours of pine wood were passed through a fixet dfecatalyst operating at 600 °C (ex
situ). The stability of the oils was determined ragasuring the change in viscosity; it was
determined by thermally treating (ageing) the aibdacomparing the viscosity and water
content of it before and after the treatment. Tlagomfinding of this work was that the use of
ZnO significantly lowered the viscosity of the dgteally produced oil if compared with the
non-catalytic oil. Besides, the increase in vistyoafter storage at elevated temperatures was
also lower for the catalytically produced oil. Hoxge, ZnO was found to be just a mild
catalyst causing only a small reduction in theitiggield with only a 2wt.% increase in gases
(in comparison to the non-catalytic case). Morepsaéiincreasing catalyst temperature (from
300 °C to 400 and 500 °C), the formation of anhgdgars and formic acid was reduced.

Lu et al. [144] (entry no.11 in Table A.2.6) observed diéiet capabilities of various
metal oxidesi(e. MgO, CaO, TiQ, FeOs, NiO, and ZnO) in the ex situ upgrading of poplar
wood vapours in a Py-GC/MS system operated at 80 °fixed catalyst-to-feed mass ratio
of 1 was used in all experiments. In accordanck Wikkosmaket al. [142], ZnO was found
to be a mild catalyst showing a negligible activiBaO significantly reduced the amounts of
anhydrosugars, phenols, and acids. It also incdedse formation of cyclopentanons,
hydrocarbons and light products including acetajdeh 2-butanone, and methanol.,Gg
resulted in the formation of various hydrocarbomginly PAHSs. In the same experimental
system but with a different catalyst-to-feed ragfo2, Lu et al. [145] (entry no.10 in Table
A.2.6) conducted the catalytic upgrading of popharod-derived pyrolysis vapours using
three commercially available TiJrutile), TiO, (anatese) and ZegXiO, (a mix. of 40wt.%
TiO, (anatese) and 60t.% ZrQO;), and their modified counterparts with the incogimn of
Ce, Ru, or Pd. Ti@(rutile) and its Pd-containing counterpart (PdoJiwere found to be the
most effective catalysts in converting lignin-dexdv oligomers to monomeric phenolic
compounds due to enhanced cracking activity by ittoerporation of Pd, with reduced
amounts of aldehydes and sugars, increased amoluke&tones, acids, and cyclopentanons.
The ZrQ-TiO, catalysts remarkably reduced the phenol and amttlsy with complete
elimination of sugars, but increased the amountbyofrocarbons, light linear ketones and
cyclopentanons.

Torri et al. [110] (entry no.2 in Table A.2.6) used a novel®@g-MIP-AED system
(pyrolysis-gas chromatography-microwave inducedsmpl@atomic emission detector) to
evaluate and compare the performance of varioualragides for catalytic pyrolysis of pine
wood at 500 °C. CuO, ZnO, and mixed metal oxidealgats significantly reduced the
proportion of the heavy fraction in the bio-oil tvitninimum reduction in the bio-oil yield.
CuO exhibited the highest yields in semi-volatibenpounds.

Wanget al. [146] (entry no.1 in Table A.2.6) have performeditu catalytic pyrolysis
of pine wood, spruce wood (Alaskan) and lauan wgapical) in a bubbling fluidized bed
reactor in the presence of alumina supported NiMid &€oMo catalysts. CoMo/ADs;
(Criterion-534) is generally known to promote degemyation reactions when operating at
high pressures in the presence of hydrogen. Howéweleffect of this catalyst during CFP of
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biomass at atmospheric pressure without hydrogeotisvell understood [44]. In this study,
the CoMo/AbO; catalyst produced the highest yield of light artasawhilst NiMo/AlL,O3
produced the highest amount of methane. Maximunid yo¢ BTXN (benzene, toluene,
xylene, naphthalene) was achieved with CoMO-gbAkatalyst as 6.8t.% at 600 °C.

Due to their excellent resistance to coke formateord high acidity, metal-based
catalysts can be promising alternatives for thedpection of upgraded bio-oil via CFP.
Stefanidiset al. [147] (entry no.16 in Table A.2.4, entries no. 13 &3 in Table A.2.6)
studied the ex situ upgrading of beech wood origithgyrolysis vapours in a bench scale
packed-bed reactor at 500 °C. Among various caglyscluding commercial ZSM-5
formulations, metal oxidesi.¢. MgO, NiO), and metal catalystse. alumina, tetragonal
zirconia, titania, and Zr/Ti, the activity of catats based on aromatics selectivity was in the
following order: alumina > Zr/Ti > ZSM-5. Howevealumina and Zr/Ti were not found to be
efficient catalysts since they resulted in too lelds of organic fraction (5.5 and ix.%,
respectively). But, they were shown to be promisiatalysts for the removal of oxygen from
bio-oil. ZSM-5 was the most suitable catalyst wahgood selectivity toward aromatic
compounds and acceptable yield of organic fraqa@n8wt.%).

To date, microporous acidic zeolites and mesoponoaterials have been extensively
studied in the literature of CFP of lignocellulobiomass. However, some drawbacks as the
result of the utilization of these catalysts in CFHRch as the coke deposition and the
formation of PAHSs in case of microporous acidiclizes, poor hydrothermal stabilities and
high production costs related with the mesoporoagemnals have been observed. In order to
alleviate these problems to some extent, sevesalarehers have tested a variety of metal
catalysts for CFP of woody biomass, as summarizeddable A.2.6 in the Supporting
Information. It should be noticed here that theeetl§ of alkali and alkaline earth metals
(AAEMS) in the catalytic pyrolysis conditions argtensively detailed in Chapter 6 in this
thesis; as the results of our own experiments.

2.4 Pilot-scale developmentsin CFP of biomass

Although laboratory studies regarding the catalfait pyrolysis of biomass have been
carried out for more than two decades, the teclgyottevelopment is still in its infancy. The
most serious commercial attempt up to date was KiQ@Rs. The company built the first
commercial scale CFP facility in Columbus (Misggsj USA), which started production in
2012. The selected process technology was basesistimg Fluid Catalytic Cracking (FCC)
technology, used for crude oil refining. The reastas composed of a riser, a solid separator,
and a catalyst regenerator, continuously operating situ mode (Fig. 2.6). The facility is
designed as an initial scale commercial facilitypgessing 500 bone dry tons of woody
biomass per day. It should produce over 13 milljations of gasoline, diesel, and fuel oil
blend-stocks annually, enough to fuel 25,000 cdmse company will next look to
constructing its "flagship” facility in Natchez, BAissippi; it is designed to process
approximately 1,500 bone dry tons of feedstockdasr— three times the size of its Columbus
facility — to take advantage of economies of s¢af8]. On November 2014, KiOR Inc. filed
for bankruptcy protection with a plan to sell issats [149].
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Fig. 2.6. The schematic of KiOR’s process [150].

Anellotech is a spin-off company and was founded2@98. The company has the
exclusive license from the University of Massachisstor the core Catalytic Fast Pyrolysis
(CFP) process technology developed in the HuberTlab first application of the technology,
Biomass to Aromatic¥' (BTA), is said to produce "green" benzene, tolueare] xylenes
(BTX) in the future. The reactor technology is danito that of KiOR’s and composed of a
fluidized bed reactor operating in combination wahcatalyst separator and a catalyst
regenerator [151]. Although is not mentioned anywhéhe process mode supposed to be in
situ. With the successful start-up of its Pearl eRipilot plant (erected in March 2013),
Anellotech is now able to meet its commitment tovile BTX developmental quantities for
evaluation by a number of strategic partners whested in the development of the process.
At this pilot plant, the company is currently prathg kilogram-scale BTX directly from non-
food biomass such as palm wastes, bagasse, comr,sémd even from wood feedstocks. If
all goes according to schedule, Anellotech expextstart up its first commercial plant in
2019-2020.

Being a semi-commercial application of a catalytiropyrolysis process, the iH
technology is meant to provide a cost-effectiveteptr$2.00/gallon in 2012 dollars at 2000
mt dry feed/day scale, to produce fungible liquigdiocarbon transportation fuels from
renewable resources. This process was developédeb§as Technology Institute (GTI) of
Des Plaines, IL. GTI has licensed the’ ltdchnology to CRI Catalyst Company (CRI) for
exclusive worldwide deployment. The process inveltbe hydrodeoxygenation of the
volatilized biomass to produce a raw hydrocarbardpct over proprietary CRI catalysts in
the presence of low-pressure hydrogen, followedabyxed bed hydrotreater, which uses
other proprietary CRI catalysts to polish the fs&tge product and transform it into a finished
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hydrocarbon fuel or blend stock. As a step in tlemmercialization process, GTI
commissioned a new 50 kg/day Pilot-Scalé@ Bfant in the first quarter of 2012. The goal of
the pilot plant studies is to provide validationtbé operational and performance factors that
are key to achieving commercial deployment in 2[1B52-155].

Unfortunately the precise performance of the lapgants in terms of product yields,
the information regarding the product qualigg( acidity, viscosity, chemical compaosition),
and total operation time remains obscure. Websitgsivate enterprises do not mention such
data although it appears that the companies ardirgerout larger samples for closer
inspection by future clients.
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Chapter 3

Validation of a new set-up for continuous catalytic
fast pyrolysis of biomass coupled with
vapour phase upgrading

Abstract

A fully controlled, continuously operated mini-plant has been designed and constructed based
on auger reactor technology. Three types of biomass fast pyrolysis experiments were
performed in this set-up, viz. non-catalytic, in situ catalytic fast pyrolysis and ex situ
upgrading of non-catalytic fast pyrolysis vapours by means of a downstream, moving-bed
catalytic reactor. Pine wood was selected as the reference biomass feedstock. The mini-plant
enables variation of the catalyst loading and contact times while producing larger samples
suitable for full characterization in continuous operation. Due to short catalyst residence
times and the fact that the biomass fed to the reactor is always brought into contact with fresh
catalyst (in case of in situ catalysis) or the pyrolysis vapours always contact with firesh
catalyst in the moving bed catalytic reactor (in case of ex situ catalysis), catalyst deactivation
and coking are prevented ensuring improved experimental repeatability in catalytic pyrolysis
experiments. The performance of the system was verified by in and ex situ application of a
single type of heterogeneous ZSM-5 based acidic catalyst while the non-catalytic results were
taken as reference. Catalytic fast pyrolysis results in more effective oxygen removal from the
bio-oil in the form of water, and resulting in lower yields of the organic fraction. Moreover
catalytic decarbonylation reactions gave rise to increased gas yields. With in and ex situ
catalysis, increases in the char yields were observed as well as coke deposition on the catalyst
surface. GCxGC-FID and GCXGC-TOF-MS analysis of the produced bio-oils showed that
the use of in and ex situ catalysis causes conversion of high molecular weight compounds to
lower ones. Disappearance of detectable sugars and aldehydes, a decrease of the yield of
acids, formation of phenols, and favoured aromatics production were the other catalytic
effects observed.
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3.1 Introduction

Fast pyrolysis intends to convert biomass into a maximum quantity of transportable
liquids that can be used for the production of energy (i.e. heat, power), chemicals, and/or
biofuels [29,178]. The process is characterized by the rapid heating of biomass particles to a
moderate temperature of approximately 500 °C, followed by the instant condensation of the
produced vapours. The latter results in a maximum quantity of dark-brown liquid (the so-
called bio-oil or pyrolysis oil) with a heating value roughly equal to that of the dry biomass
(18-21 MlJ/kg), which is almost half the heating value of petroleum [30]. A critical review
regarding the production and properties of bio-oil is documented elsewhere [29].

Crude bio-oil is a mixture of hundreds of different, oxygen containing organic
compounds. It is unsuitable for direct application as a transportation fuel due to its adverse
properties (e.g. instability, acidity, and corrosiveness) caused by the various undesired oxygen
functionalities in virgin bio-oil. The amount of oxygen present in bio-oil is important, but also
the way in which oxygen is bound in the bio-oil compounds (acids, ketones, aldehydes,
furans, sugars, phenols, etc.). To improve the quality of crude bio-oil for biofuel applications
and to reduce the upgrading costs, fast pyrolysis of biomass can be carried out in the presence
of suitable catalysts (i.e. catalytic fast pyrolysis; CFP) [74].

In CFP of biomass, the catalytic treatment can either be in situ, i.e. adding catalyst
particles to the reactor, or ex situ, i.e. secondary conversion of the produced vapours of fast
pyrolysis. The desired function of the catalyst, in both cases, is the catalytic cracking of high
molecular weight vapour phase compounds into smaller ones (anhydrosugars to furans, furans
to olefins, efc.). The ultimate goal of the CFP is the removal of oxygen in the form of CO,
CO,, and H,O by steering the oxygen containing chemical functionalities in pyrolysis vapours
(see Chapter 2 in this thesis). Reports from NREL show that crude bio-oil upgraded by hydro-
deoxygenation (HDO) process can be produced at a very competitive price compared to other
biomass conversion technologies [179]. Eventually, the product oil fraction produced by
catalytic fast pyrolysis (i.e. CFP-oil) will contain less oxygen and requires, if at all, a far
milder HDO treatment with less hydrogen consumption and thus, a cheaper HDO process can
be achieved.

In the present article, the focus is on the comparison of the properties and composition
of CFP-oils produced with in situ and ex situ CFP of biomass with a single type of catalyst.
The CFP experiments were performed in a dedicated mini-plant that allows variation of the
catalyst loading and contact times while producing larger bio-oil samples in continuous
operation. Particular attention is paid to the catalyst capabilities to suppress coke and gas
formation, to reduce oxygen and modify its functionalities in the bio-oil and to increase the
yield of the hydrocarbon fraction. The latter could be used for co-feeding petroleum refinery
units in the production of transportation fuels [85].
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3.2 Materials and methods

3.2.1 Materials

Pine wood was obtained from Bemap Houtmeel B.V. (Bemmel, Netherlands) and
selected as reference biomass feedstock. The moisture content was 8.45 wt.% (as-received
basis, a.r.) and the number-average particle size was 1 mm (maximum size = 2 mm). The
elemental composition of the pine wood together with the proximate analysis data are listed in
Table 3.1.

Silica sand with a mean diameter of 250 um and a particle density of 2650 kg/m3
(compacted bulk density = 1660 kg/m’) was obtained from PTB-Compaktuna (Gent,
Belgium).

A heterogeneous ZSM-5 based acidic catalyst, indicated as ‘Type A’ was prepared and
supplied by Albemarle Catalyst Company B.V. (Amsterdam, The Netherlands) for the in situ
and ex situ pyrolysis experiments. Physical and chemical properties of this catalyst can be
found in Appendix A (this appendix is confidential and can only be accessed by signing a
confidentiality agreement). To minimize the water accumulation in the final liquid product,
this catalyst was calcined in air at 500 °C for 1 h to decrease the catalyst bound/absorbed
moisture content to below 1 wt.%.

Table 3.1. Properties of biomass used.

Proximate analysis (wz.%)

Fixed carbon (d.b.) 14.96
Volatiles (d.b.) [ASTM E872-82] 84.76
Moisture (a.r.) [ASTM E871-82] 8.45
Ash (d.b.) [ASTM E1755-01] 0.1
Ultimate analysis (d.b.) [wz.%]
C 47.1
H 5.9
0] 39.7
N 0.04
S 0.06
Alkali metals (d.b.) [mg/kg]
K 346.2
Na 10.1
Mg 112.8
Ca 767.0
HHYV (d.b) [MJ/kg] 19.1

49



3.2.2 Fast pyrolysis mini-plant

Fast pyrolysis experiments were carried out in a fully controlled, continuously operated
mini-plant designed and constructed by Biomass Technology Group B.V., BTG (Enschede,
The Netherlands) based on the auger reactor technology. The mini-plant enables the
production of larger bio-oil samples (typically 0.3 kg/h) suitable for a full characterization,
even in the case of phase-separated bio-oil. Table 3.2 shows the design specifications of the
mini-plant. Three types of biomass fast pyrolysis experiments can be performed in this
system, viz. non-catalytic (using hot sand as the heat carrier), in situ catalytic (using mixtures
of sand and catalyst as heat carrier) and ex situ catalytic (vapour phase upgrading) fast
pyrolysis experiments. This mini-plant is schematically shown in Fig. 3.1.
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Fig. 3.1. Schematic drawing of the mini-plant: (1) biomass storage hopper; (2) heat carrier
storage hopper; (3) catalyst—sand mixture (for ex situ runs) storage hopper; (4) auger screw;
(5) cooling jacket; (6) in situ reactor; (7) knock-out vessel; (8) in situ reactor oven; (9) solids
collection vessel; (10) ex situ reactor; (11) ex situ cyclone; (12) by-pass line; (13) ex situ
reactor oven; (14) spent catalyst collection vessel; (15) condenser inlet heater; (16) cold trap
condenser tower; (17) stainless steel spiral condenser; (18) gas filter; (19) tap water cooled
spiral glass condensers; (20) ethylene glycol cooled spiral glass condensers; (21) refrigerated
cooler; (22) cotton filters; and (23) gas flow indicator. Green: N, lines; pink: heated zones;
blue: cooled zones.
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Table 3.2. Design specifications of the mini-plant.

Technology Catalytic fast pyrolysis
Experimental modes Non-catalytic, in situ, ex situ
Max. temperature [°C] 600

Max. biomass feed flow rate [g/h] 500

Max. heat carrier flow rate (in situ) [kg/h] 10

Max. catalyst (blend) flow rate (ex situ) [kg/h] 3

Max. inert gas flow rate [L/h] 150

System pressure Atmospheric
Biomass residence time (with the heat carrier) [s] ca. 1

Hot vapour residence time [s] ca. 5

The biomass (a.r.) is stored in a storage hopper with a capacity of 4 kg (no. 1). To
prevent biomass particles from aggregating and forming bridges, a stirrer inside the hopper
rotates during the run. The biomass feeding screw, connected to the biomass hopper, is used
to transport biomass to the auger reactor. A hopper with a capacity of 25 kg in combination
with a 110 cm long heated screw (no. 2) is used for the transport of the heat carrier to the
auger reactor. Sand is used for the non-catalytic and ex situ catalytic experiments, while
catalyst—sand mixtures are used for the in situ catalytic experiments. The auger reactor is
operated as the main unit for the biomass fast pyrolysis. The last section of this screw where
the biomass and heat carrier are intensively mixed with a residence time of ca. 1 s is called
the “pyrolysis reactor” or “in situ reactor” (no. 6). A water-cooled stainless steel jacket (no. 5)
was placed to the fore section of the auger to prevent biomass decomposition before contact
with the heat carrier. During the run, produced vapours are entrained to the knock-out vessel
(no. 7) by the continuous inert gas flow (N,) and the heat carrier and char particles fall down
to the solids collection vessel (no. 9). In the solids entrance of the vessel a special type of
valve (L-valve) is placed. This valve is a bent pipeline that slows down the solids flow and
allows an additional solid hold-up to increase the contact time of charred biomass with the hot
heat carrier. This allows maximizing the devolatilization of the biomass particles.

For ex situ catalytic experiments, the non-catalytic fast pyrolysis vapours produced in
the pyrolysis reactor are carried to the vapour phase upgrading reactor (ex situ reactor) (no.
10) after passing the knock-out vessel. The catalyst-sand mixture flows from the storage
hopper through a 60 cm long heated screw (n0. 3) to the ex situ reactor (moving bed reactor)
where the vapours are co-currently contacted with this preheated catalyst—sand mixture with a
residence time of ca. 3 s. A collection vessel (no. 14) is put underneath the ex situ reactor
oven. To prevent the escape of the vapours to the collection vessels, these are purged with
inert gas (N,) during the run. Analytical balances (Sartorius, Combics CW1P1, accuracy +2 g)
measure the weight increase of both collection vessels.
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The inlet line to the condenser is heated to prevent local tar accumulation (no. 15). In
the present study a cold-trap condenser system was used to condense the pyrolysis vapours
into bio-oils. This system consists of a condenser tower (no. 16), a stainless steel spiral
condenser (no. 17), vapour transfer pipelines, and a spiral glass condenser (no. 19). All these
combined parts are tap water cooled and jacketed. The outgoing stream passes through two
ethylene glycol cooled spiral glass condensers (no. 20). An ethylene glycol refrigeration unit
(no. 21) was used to keep the temperature of these two spiral glass condensers constant at —25
°C. The remaining vapours and gases pass through the cotton filters (no. 22). These are
installed to maximize liquid collection. The volumetric flow rate of the non-condensable gas
leaving the cotton filters is measured with a dry gas flow indicator (Itron, Gallus 2000 G1.6,
accuracy is 107 Nm?) (no. 23).

In the mini-plant, several thermocouples and pressure sensors are installed to
continuously monitor the temperature and pressure at various points. In order to increase the
accuracy of the measurements and minimize the errors the changes in temperatures, pressures
and flow rates are observed and controlled online via the Advantech ADAMView system
software. The temperature in the last section of the auger reactor where the pyrolysis reactions
take place is defined as the in situ reactor temperature, T sit reactor- 1N the secondary reactor,
meant for ex situ vapour upgrading, three thermocouples are installed at different heights and
the average value is taken as the ex situ reactor temperature, Tex situ reactorr 1hESE tWO
temperatures are used as the set points for the ovens’ (nos. 8 and no. 13) (Westeneng
Ovenbouw B.V.) control loop.

3.2.3 Experimental procedure

Prior to each experimental run, the fresh biomass sample (a.r.) was weighed on an
analytical balance (Kern, FCB 3K, accuracy + 0.1 g) and loaded into the biomass hopper. For
non-catalytic experiments, a known amount of sand of ca. 20 kg, for in situ catalytic
experiments a known amount of catalyst-sand mixture of ca. 20 kg (catalyst-to-sand ratio
1:4/w:w) and for the ex situ catalytic experiments a known amount of mixture of ca. 3 kg
(catalyst-to-sand ratio was 3:1/w:w) were weighed (Sartorius, Combics CW1P1, accuracy =+ 2
g), and loaded to the hoppers. In order to get fixed and repeatable catalyst-to-biomass ratios,
the biomass flow rate and the catalyst-to-sand ratios were optimized by performing several
blank experiments. The total quantity of materials fed during a run was determined by
measuring the mass difference of these materials in the hoppers and in the feeding screws
before and after an experiment. A controlled flow of inert gas (N, Air Liquide, purity > 99.9
%) was fed to all hoppers to ensure an inert atmosphere inside the system and transfer the
produced vapours through the system. To minimize secondary reactions it is important to
have vapour residence times of typically less than 2 s [29]. Hence, during non-catalytic and in
situ catalytic experiments the ex situ reactor and the ex situ cyclone were by-passed to shorten
vapour residence times.

After making all connections within the system a pressure test was carried to verify the
absence of possible leaks. Next, the heating was started under an inert atmosphere. The inert
gas flow rate was measured by reading the gas flow indicator output which is located just
before the vent.
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Once the system reached the desired temperature, the auger reactor, and the heat carrier
conveyors were switched on and the heat carrier (and the catalyst-sand blend for ex situ
experiments) inside the separate hoppers were conveyed through the reactors. The
experiments were started by turning on the biomass feeding screw when the system reached
its steady state after approximately 30 min.

3.2.4 Pyrolysis products analysis
3.2.4.1 Non-condensable gases

The inert gas flow supply is set by 5 separate mass flow controllers (Kobold, type
KDG) that control the flow through the hoppers and vessels. The total volume of outlet gas is
measured every five minutes using a gas flow indicator (in Nm’, precision is 10* Nm?®). The
average non-condensable gas flow rate (@, .¢; L/h) is the difference between the total average
gas flow rate during the run, measured at the mini-plant’s gas outlet and the average inert gas
flow rate before feeding biomass (Eq. 3.1):

readoutg,, — readout ;.|

Pg,avg = tona — Lomiead)
final initial. total gas

readoutg,, — readout ;.|

(£q. 3.1)

(tﬁnal - tinitial) inert gas

During the run, specified as ¢,,, (min), eight gas samples were taken at intervals of 10
min by using a gas-tight syringe. These were analysed off-line using a Varian Micro-GC 490-
GC with two analytical columns; 10 m Molesieve 5SA (with backflush) and 10 m PPQ with
TCD detectors, using Helium and Argon (Alphagaz) as carrier gases. In order to minimize the
errors on measurements, this device was calibrated prior to each experiment by using two
different gas mixtures with known component quantities. The following compounds were
measured by the micro-GC: H,, CO, CO,, CHs, C;Hs, C;Hg, CsHg and C3Hg. The sum of
C,H,4, C,Hg, CsHg and CsHg will be further referred to as Cp..

The total non-condensable gas yield is calculated by summation over the yields of the
individual gas compounds and dividing this value by the amount of biomass (a.r.) fed during
the run (Egq. 3.2).

}gras -

z MW, - (vol%; / vol% orar) * trun * ¢g,avg 100%

Eq. 3.2
(R T, 60/ P-100) v, (a3

i
3.2.4.2 Char

To determine the produced amount of char, the char/heat carrier mixture collected in the
solids collection vessel needs to be sieved. The first step is sieving by hand followed by a
subsequent mechanical sieving in a shaker (Retsch AS 200; Edelstahl test sieve with 0.25 mm
aperture). The separated char still contains a significant portion of sand and/or catalyst
particles that adhere to the char’s surface. Thus the char and heat carrier mixture were
subjected to loss on ignition analysis (burning under air atmosphere in a Carbolite muffle
oven AAF 1100, at 600 °C, 6 h) and the masses of char and sand in this mixture were
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determined. Before the loss on ignition analysis, small amounts of char were taken and the
elemental analysis was carried out with a Thermo Scientific Flash 2000 Organic Elemental
Analyser.

The char yield (a.r.) was calculated by dividing the mass of char that was lost during the
loss on ignition analysis by the amount of biomass fed during the run (Eg. 3.3). Hence, all
non-volatile ash compounds are expected to be either on the catalyst or sand.

100%

Mfeed

Ychar = [(Msalidmix ' Wt%cﬁarin ml’x)] ' (Eq 33)

3.2.4.3 System carbon

System carbon consists of the coke on the non-catalytic/in situ heat carrier and ex situ
spent catalyst, knock-out vessel/cyclone solids and the filtrated solids from bio-oil. These
solid fractions were separately collected, weighed and analysed in terms of their carbon
content (assuming that coke is mainly composed out of carbon) by means of loss on ignition
analysis. The system carbon yields were calculated using the formulae below:

For the non-catalytic and in situ catalytic experiments (Eq. 3.4):

Ysystem carbon = {[(th,i - th,f) ' (Wt%hc,coke)] + [Mkvs ! (Wt%kvs,coke)] + [Mfiltrate

100%
' (Wt%filtrate,coke)]} ' M (Eq' 3-4’)
feed

for the ex situ experiments (£q. 3.5):

Ysystem carbon = {[(th,i - th,f) ’ (Wt%hc,coke)] + [Mkvs ' (Wt%kvs,coke)]
+ [(Mex situch,i — Mex situ cb,f) ' (Wt%sc,coke)] + [Mcs ' (Wt%cs,coke)]

100%
+ [Mfiltrate ’ (Wt%filtrate,coke)]} ’ M (ECI- 3-5)
feed

3.2.4.4 Bio-oil

Subsequent to each experiment, the bio-oils collected in the cold-trap condenser parts
(including the cotton filters) were removed by flushing with tetrahydrofuran (THF). The use
of this solvent allowed the complete collection of the bio-oil heavy fractions that are stuck on
the condenser walls and in the vapour pipelines. Collecting all the produced liquids (heavy
and aqueous phases) in a homogeneous single phase helped to determine the liquid yield more
precisely and also increased the stabilization of bio-oil. The collected bio-0il/THF mixture
was later analysed via a GCxGC-FID in terms of its THF content which was used to
determine the total liquid yield (Eg. 3.6). Also, the moisture content of the catalyst was
determined via the moisture analysis and the excess amount of water that ends up in the
condensed liquids was excluded from the total amount.
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= My = My - (e

Mfeed

For the detailed characterization of bio-oils, a combination of GCxXGC-FID and
GCXGC-TOF-MS was used to get a high chromatographic resolution and on the other hand
maximal agreement between both chromatograms [180]. The GCxGC setup was consisted of
a Thermo Scientific TRACE GCxGC, obtained from Interscience Belgium and has been
discussed previously [181,182]. The setup is equipped with both an FID and a TEMPUS
TOF-MS (Thermo Scientific, Interscience Belgium) detectors. Injection volume was 0.2 pl,
with a split flow of 150 ml/min, and an injector temperature of 280 °C. The first column was a
Rtx-1 PONA (50 m L x 0.25 mm L.D. x 0.5 pm df) and the second column was a BPX-50 (2
m L x0.15 mm LD. x 0.15 pm df). Oven temperature programme started at 40 °C and was
ramped up to 300 °C at a heating rate of 3 °C/min. For GCxGC, the modulation period was 7
s. A built-in switching system, i.e. a 4 port 2 way valve (VICI AG International, Switzerland)
allowed to switch between the FID and MS detectors without the need to cool down and vent
the TOF-MS [181,182].

For the elemental analyses an elemental analyser (Thermo Scientific Flash 2000
equipped with an AS3000 liquid auto sampler) was used.

The collected oils were analysed in terms of their water content by Karl Fischer
Titration (Mettler Toledo V20 with 5 ml burette; electrode: DM 143-SC; reagent: Merck
Combi Titrant 5 Keto; solvent: Merck Combi Solvent 5 Keto). The water yield was calculated
using the formula (Egq. 3.7):

M/1'qu1'd

Yivater = (W]iq.mI'X' df) ’ (Eq. 37)

M feed
where

1

df =
1 — (Wt%rug inligmix./100)

(Eq. 3.8)

The organic liquid yield was simply calculated as (Eq. 3.9):
Yorganic liquid = Kiquid - water (E q. 39)

The acidity of the oil samples was analysed in terms of TAN (total acid number, in mg
KOH/g liquid) (Metrohm 848 Titrino-Plus; titrant: KOH, 0.1N; solvent: propan-2-ol and
toluene, combined glass (pH) electrode, incorporated reference system LiCl saturated in
ethanol). The total acid number of the liquid product was calculated using the formula (Egq.
3.10):

TAN = (aliq.miX -df) (£q.3.10)

55



3.2.4.5 Mass balance

The mass balance within the system was calculated by using the equation below:

Ytota] = Yarganic]iquid +Y water T I,/gas + Ychar + I(system carbon
that is equal to (Eq. 3.11):

100%
Yl’ol’al :(Marganic liquid +M water T M gas +M char T Msystem carban) ’ M_ (E q. 3.1 1)

feed

3.3 Results and discussions

3.3.1 Mass balance closure and reproducibility

The reproducibility of the mini-plant was verified by carrying out 8 non-catalytic
experiments. During these experiments at a constant temperature of 500 °C, no operational
problems were encountered. Operating conditions for non-catalytic experiments are reported
in Table 3.3.

Table 3.3. Operating conditions non-catalytic experiments.

Range Average
Fast pyrolysis temperature [°C] 500 500
Experimental run time [min] 110 -210 170
Biomass feed rate [g/h] 180 — 248 200
Inert gas flow rate [L/h] - 120
Heat carrier flow rate [kg/h] 53-6.6 59
Heat carrier/biomass ratio [wz./wt.] 22.5-30.7 26.8

The mass balance closure of the non-catalytic tests varied between 96.5 wt.% and 102.1
wt.%. The average yields on as received basis are reported in Fig. 3.2. Of these tests the
average yields are 58.9 wt.% for pyrolysis oil (organics + produced water), 22.2 wt.% for non-
condensable gases, 15.9 wt.% for char, and 2.6 wt.% for system carbon, respectively. These
yields are within the range of fast pyrolysis of wood reported in the literature [29] and proof
that the setup is truly a fast pyrolysis setup.
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Fig. 3.2. Average yields of liquid, non-condensable gas, char and system carbon obtained
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from 8 non-catalytic fast pyrolysis experiments of pine wood at 500 °C.

The error bars shown in the graphs represent the minimum and maximum values over
all experiments. The scatter on the liquid, char, and gas yield is less than 7 %, denoting that

the reproducibility of the experiments is acceptable and low enough for trend detection.

3.3.2 In situ/ex situ catalytic pyrolysis versus non-catalytic pyrolysis

In total, 5 in situ and 5 ex situ experiments were carried out using the same type of

catalyst. Operating conditions of the catalytic experiments are given in Table 3.4.

Experimental run time was kept at a minimum of 90 min in order to produce sufficient bio-oil

for the different types of analyses as well as to reach a sufficiently high accuracy on the mass

balance determination.

Table 3.4. Operating conditions catalytic experiments.

In situ Ex situ

Fast pyrolysis temperature [°C] 500 500
Catalytic reactor temperature [°C] - 500
Experimental run time [min] 100 90
Biomass feed rate [g/h] 200 200
Inert gas flow rate [L/h] 120 120
Ratio of sand/catalyst in mixture [wt./wt.] 4:1 1:3
Heat carrier/biomass ratio [wt./wt.] 53.8 323
Residence time of vapours with catalyst [s] ca. 1 ca. 3
Catalyst/biomass ratio [wz./wt.] 5 5
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The liquid, char and solid product yields (wt.% based on biomass feed) obtained by the
in situ and ex situ catalytic upgrading of lignocellulosic biomass pyrolysis products are
visualized in Fig. 3.3. These values are compared to the yields obtained for the non-catalytic
silica sand experiments. Apparently each catalytic material affects the product yields in its
own way. The reason for the deviations was probably due to variations in heat carrier flow
rate (Tables 3.3 and 3.4); however, the average yield values are comparable. Table 3.5 lists
the average yields, standard deviations, and the relative spread (cy/Y*100%) of 8 non-
catalytic, 5 in situ catalytic and 5 ex situ catalytic experiments. The relative scatter on the
liquid, non-condensable gas, char, and system carbon yield is less than 10 %, showing that the
reproducibility of the experiments is good. The relative spread on the yield of produced gas is
somewhat larger for the non-catalytic and ex situ runs (11.5 % and 10.2 %, respectively), but
is still low enough for trend detection. Higher standard deviations in system carbon yields of
in- and ex situ catalytic experiments may be related to the collection and weighing errors of
solid samples. Furthermore, a noticeable lower standard deviation of the ex situ liquid yield in
comparison with the liquid yield of in situ and non-catalytic experiments was observed; this
may be due to the lower tar formation in the condenser system which facilitates collection of
the liquid product.
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Fig. 3.3. Average yields of liquid, non-condensable gas, char and system carbon obtained
from in situ and ex situ catalytic fast pyrolysis experiments, compared to the reference, non-
catalytic experiments of pine wood at 500 °C.
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Table 3.5. Reproducibility of eight identical non-catalytic, five identical in situ catalytic, and
five identical ex situ experiments.

Average yield, Std. dev.,  Relative spread,

E iment
xp;{erzmen Product Y oy oy Y*100%
mode
[wt. %] [wt. %] [%]
Non-catalytic Liquid 58.9 4.5 7.7
Gas 222 2.6 11.5
Char 15.9 1.1 7.0
System carbon 2.6 0.1 5.5
In situ Liquid 50.3 4.4 8.7
Gas 26.2 2.4 9.0
Char 13.6 1.2 9.1
System carbon 9.7 0.9 8.9
Ex situ Liquid 50.1 1.2 2.5
Gas 23.9 24 10.2
Char 15.7 1.0 6.2
System carbon 10.1 0.8 8.0

With the catalyst application, a decrease of 8.6 wz.% for the in situ, and a decrease of
8.8 wt.% for ex situ modes were observed in terms of liquid yields. On the other hand, gas and
system carbon yields increased with the catalyst addition and are significantly different
enough to draw conclusions. For the in situ mode, a decrease of 2.3 wt.% in char yield was
seen. This decrease in char yield in in situ mode was related to the higher heat carrier/biomass
ratio that results in a higher conversion rate of biomass particles into vapours. In ex situ mode,
a very slight decrease in char yield was observed with 0.2 wz.% compared to the non-catalytic
mode. The reason for this very similar char yield in ex situ mode is due to the presence of the
same fast pyrolysis conditions in the pyrolysis reactor. Gas yield increases of 4 wt.% and 1.7
wt.%, respectively for in situ and ex situ modes were observed. These changes in the product
yields agree with literature [102,104]. Coke deposition on the heat carrier (sand and catalyst
mixture) surface was observed by the change in colour from yellow to grey. It increased to 9.7
wt.% on feed basis for the in situ and to 10.1 wt.% on feed basis for the ex situ mode, taking
the average coke deposition on the spent sand of the non-catalytic experiments as the
reference case which was 2.6 wt.% on feed basis.

The use of catalyst led to a decrease in the liquid and organic product yields with a
simultaneous increase in water yield. The organic yield decreased by 20.6 wt.% and 20.2
wt.%, while water yield increased by 13.5 wt.% and 13.7 wt.% for in situ and ex situ modes,
respectively (Fig. 3.4). The catalysts increase dehydration reaction of the oxygenated species
in the product and product vapours, thus the water yield in bio-oil is increased at the expense
of organic liquid yield. Also, the formation of coke on the catalyst is responsible for large
losses in biomass carbon and thus the reduction in the organic liquid yield.
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Fig. 3.4. Average organic liquid and water yields of liquid obtained from in situ and ex situ
catalytic fast pyrolysis experiments, compared to the reference, non-catalytic experiments of
pine wood at 500 °C.

Compared to non-catalytic runs, gas production increased in the presence of catalyst as
CO; and CO were the main gaseous products. Other detectable compounds were H,, CH4 and
C»+’s in comparatively smaller quantities. Fig. 3.5 shows the changes in composition of the
non-condensable gas compounds for the different experimental modes. The higher yields in
CO indicate that decarbonylation reactions were clearly favoured, as well as an increase in
C,+ compounds were observed in the presence of catalyst. CO, yields were almost the same
that shows the in- and ex situ application of this catalyst do not favour decarboxylation
reactions. Also, slight decreases were observed in the CH4 yields.
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Fig. 3.5. Average composition of the non-condensable gas obtained from in situ and ex situ
catalytic fast pyrolysis experiments, compared to the reference, non-catalytic experiments of
pine wood at 500 °C.

Before pyrolysis oils are compatible with existing fuel infrastructure, they require
catalytic upgrading to remove oxygen functional groups [70]. Oxygen is removed from the
pyrolysis vapours in the form of CO, CO,, and H,O. In the case of CO formation, a single
carbon atom is consumed to remove each oxygen atom, whereas the removal of oxygen in the
form of CO; is the most preferable route because to remove two oxygen atoms only one
carbon atom is consumed. Oxygen removal by the formation of H,O is in turn less desirable
than CO; or CO formation in order to preserve the highly energetic carbon—hydrogen bonds in
the bio-oil constituents and also to preserve hydrogen for the catalyzed hydrocarbon forming
reactions [147,183]. In combination with Figs. 4 and 5, it can be concluded that the prevalent
mechanism for oxygen removal was dehydration for the catalytic modes. Decarbonylation
mechanism contributed to oxygen removal in both in- and ex situ modes while in situ
performance was better. The performance for decarboxylation mechanism of in situ mode was
slightly better than that of ex situ which was similar to the non-catalytic case.
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3.3.3 Chemical composition of the bio-oil

Fig. 3.6 shows the GC-MS based group type analysis of bio-oil by sorting the
components into 8 chemical groups. High molecular weight compounds and the compounds
whose group name is not available in the MS library were classified as ‘others’. Table 3.6
shows the changes of the most abundant compounds in the organic phase for the different
experimental modes.
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Fig. 3.6. Changes of the functional groups in organic liquid fraction for different experimental
modes, as quantified by GC-MS.

The corrosive character of the bio-oil increases with increasing acidity. High acidity
makes the bio-oil harder to introduce to engines [141,147], reduces the lifetime of the engine,
decreases the stability of the bio-oil, and catalyses polymerization reactions [147,184].
Aldehydes, ketones and sugars also decrease the bio-oil quality by causing ageing reactions
[145,147,185]. On the other hand high yields of phenolic compounds and furans is positive
because they increase the economical attractiveness of the process and the production of
aromatic hydrocarbons makes the liquid product better suitable for fuel production [147,186].
The quality of the bio-oil can be further increased by employing higher catalyst-to-feed ratios
[85].
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Table 3.6. Changes of the most abundant compounds in organic phase for the different
experimental modes, as quantified by GC-MS (wz.% averages on organic phase basis)

Non-Catalytic In situ Ex situ

Identified (total) [wz.% on feed] 19.1 12.6 7.1
(% 1n total liquid) (33.3) (25.1) (14.2)
Sugars

Levoglucosan 3.54 0.14 0.41
Aldehydes

Hydroxyacetaldehyde 3.54 0.00 0.00
Acids

Acetic acid 7.41 2.93 3.92

Propanoic acid 1.47 0.92 0.53
Furans

Furfural 0.59 0.00 0.11
Ketones

2-Cyclopenten-1-one 0.40 1.36 0.65
Phenols

1,2-Benzenediol 2.43 6.92 3.15

4-Methyl-1,2-benzenediol 1.76 2.79 1.62

4-Ethylcatechol 0.74 1.15 0.69

2,4-Dimethyl-phenol 0.41 1.19 0.66

4-Methyl-phenol 0.36 1.40 0.82

2-Methyl-phenol 0.30 1.19 0.87

Phenol 0.27 2.32 1.24
Monoaromatics

Xylene (m, p) 0.01 4.67 1.54

Toluene 0.02 2.98 0.62
Diaromatics

1-Methyl naphthalene 0.02 1.88 0.41
Naphthenoaromatics

Methyl-1H-Indenes 0.01 1.12 0.55

Indene 0.01 1.10 0.53

Indane 0.01 0.52 0.20
Other

1-Hydroxy-2-propanone 2.93 1.22 1.42

As can be seen in Fig. 3.6, compounds such as sugars and aldehydes are broken down
by the catalyst and a significant decrease of these compounds in the organic fraction was
observed. The decrease in some of the key compounds in the virgin bio-oil such as
hydroxyacetaldehyde and levoglucosan supports this trend (Table 3.6). There was also a
decrease in the acids for catalytic compared against non-catalytic pyrolysis, and in situ
catalysis performed better in decreasing the organic acid content. Especially in the in situ
experiments, a significant increase in phenol and catechol (1,2-benzenediol) was observed
(Table 3.6) while less effect was seen for the ex situ experiment. A possible explanation for
this effect is that in in situ mode, the catalyst is able to stabilize part of the vapour phase
aromatic monomers derived from lignin decomposition into a phenolic derivative before they
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can repolymerize into heavier, hence non GC—detectable, aromatic structures (i.e. pyrolytic
lignin). Both in in- and ex situ modes, catalysis favoured the production of phenols and
aromatics; however, the performance of in situ catalysis was considerably better. There were
slight changes in the amount of furans and ketones and the amounts produced by in situ
catalysis were higher than that of ex situ catalysis. The use of the catalyst in fast pyrolysis
also has a noticeable effect on the quantity of aromatics in the produced bio-oil. With the in
situ catalysis, aromatics production of 16.6 wt.% on organic phase basis was determined. This
value is more than 80 times higher than the amount of aromatics in the non-catalytic bio-oil.
Fig. 3.7 shows the changes of the mono-, di-, and naphtheno-aromatics in organic liquid
fraction for different experimental modes. Compared to the non-catalytic mode, clear
increases of different aromatic fractions can be observed both in in situ and ex situ catalyst
application. The leading group of aromatics was the monoaromatics and the amount of xylene
(m,p) and toluene reached up to 8 wt.% on organic phase basis in total in in situ mode (Table
3.6).
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Fig. 3.7. Changes of the mono-, di-, and naphtheno-aromatics in organic liquid fraction for
different experimental modes, as quantified by GC-MS.

The total acid number (mg KOH/g liquid (a.r.)) of non-catalytic bio-oil was determined
as 102.7. The application of the catalyst decreased this value to 72.1 for in situ and 69.7 for ex
situ, respectively. This also supports the decreasing trend in the amount of organic acids
shown in Fig. 3.6.
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3.3.4 Carbon distribution over the pyrolysis products

From Fig. 3.8, it can be observed that the carbon yield of the catalytic bio-oil is
decreased compared to the reference case. Carbon yield in the bio-oil (liquid) is reduced for
the catalytic experiments, with ex situ catalysis having a larger reduction in carbon yield than
in situ catalysis. For ex situ catalysis, the direct contact of pyrolysis vapours with the catalyst
favours the coke deposition on the catalyst surface. As a result of this, the carbon yield of
solids (char + system carbon) for the ex situ catalysis case increased. This also supports the
conclusions that were drawn above regarding the heat carrier/biomass ratio (Fig. 3.3 and
Table 3.4). In combination with Fig. 3.5, it can be concluded that the higher degree of
decarbonylation reactions caused an increase in the carbon yield of gases with the presence of
catalysts. Also, as can be seen by the total carbon yield, achieving full carbon mass balance
closure proved to be difficult which may due to experimental errors in elemental analysis.
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Fig. 3.8. Carbon yields in in situ and ex situ catalytic fast pyrolysis experiments, compared to
the reference, non-catalytic experiments.

3.4 Conclusions

Non-catalytic, in situ catalytic and vapour phase upgrading (ex situ) fast pyrolysis of
lignocellulosic biomass in a new set-up have been examined in relation to different
experimental modes. For the validation of the set-up, several non-catalytic experiments were
carried out and the product yields were in-line with literature data for lignocellulosic biomass
fast pyrolysis. A heterogeneous ZSM-5 based acidic catalyst was used to observe the effects
of the catalyst on the product yields and bio-oil quality, and resulted for both in- and ex situ
catalytic pyrolysis experiments in a higher quality bio-oil; this is characterized by the extent
of deoxygenation, the production of targeted chemicals (e.g. phenols, aromatics), and the
elimination of undesired chemicals (e.g. aldehydes, acids). However, applying catalysis also
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resulted in a significant decrease of the overall liquid yields (50.3 wz.% and 50.1 wt.%, for in-
and ex situ respectively) compared to the reference non-catalytic case (58.9 wt.%). In line
with this observation higher system carbon yields were observed for the catalytic pyrolysis
experiments. The catalytic treatment reduced the oxygen content of the organic phase of bio-
oils notably. The conversion of the oxygenated species in the bio-oils was largely due to
removal of oxygen in the form of CO, CO; and H,0O. Detailed GCxGC-FID and GCxGC-
TOF-MS analysis confirmed that the non-catalytic bio-oil was a complex mixture of highly
oxygenated, acidic compounds such as acetic acid. The use of in- and ex situ catalysis resulted
in a removal of detectable sugars and aldehydes. Also, the concentration of organic acids was
decreased while a higher formation of aromatics and phenols was observed in catalytic
pyrolysis. Moreover, compared with the in situ mode, ex situ mode consumes less catalyst but
the overall performance of in situ catalysis in terms of oil quality is considerably better.
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Chapter 4

Screening metal doped catalysts in situ for continuous
catalytic fast pyrolysis of pine wood

Abstract

Catalytic fast pyrolysis (CFP) of biomass over metal containing heterogeneous catalysts is a
promising route for the production of (partially) deoxygenated liquids suitable for further
conversion to fuels and/or chemicals. In this work, pine wood was pyrolyzed catalytically at
500 °C in an auger reactor to investigate the effect of catalyst type on the pyrolysis products.
Up to date, in the literature of catalytic fast pyrolysis of woody biomass, mostly ZSM-5 and
FCC catalysts were tested in continuously operated setups. In this work, the performances of
various other heterogeneous catalysts (metal doped and their parent counterparts) have been
examined in a lab-scale unit dedicated for in situ catalytic fast pyrolysis of biomass. In total,
eight proprietary catalysts were tested. They were divided into three groups based on their
acidity, type of carrier, the active metal they contain, and according to being aged or fresh.
The results obtained from catalytic tests have been compared to each other and to non-
catalytic control experiments performed with sand. The distribution of products including
liquid organics (i.e. CFP-oil), water, char, coke, and non-condensable gases are described as
well as the compositions of the liquid organics and non-condensable gases. The presence of
catalysts led to the production of additional water, coke and gases at the expense of the liquid
organics. However, the quality of the obtained CFP-oil was altered to various degrees
depending on the catalyst type. For all catalysts, the acidity of CFP-oils remarkably
decreased with an increased deoxygenation. Among all catalysts, the acidic catalyst with
lower redox-metal content, and freshly calcined metal doped basic mixed-metal oxide and
gamma catalysts were found to be the best performing ones. The catalysts were also tested on
a micro-scale using a py-GC/MS system. The py-GC/MS results were found to be only
partially indicative for the performance of a catalyst in CFP of biomass.



4.1 Introduction

Lignocellulosic biomass is a renewable resource that contains carbon and hydrogen
providing an alternative to fossil fuels. It has also the potential to sustain the chemical
economy which is currently largely petroleum-based. Fast pyrolysis of biomass is emerging
as a cost effective thermochemical conversion technique that can yield a liquid product (i.e.
pyrolysis liquid, bio-oil) in high quantities. When the target is to use the pyrolysis liquids in
replacing the petroleum fuels its quality needs to be improved. As most of the crude bio-oil’s
adverse properties are caused by its highly oxygenated nature, bio-oil improvement basically
refers to a reduction in the oxygen content (deoxygenation). For this purpose catalytic fast
pyrolysis (CFP), which is a single step process that uses heterogeneous catalysts reacting with
biomass derived pyrolysis vapours at atmospheric pressure [39], can be put in service.

The possibility to feed a deoxygenated pyrolysis liquid into the existing petroleum
refinery infrastructure (i.e. blending with VGO prior to the FCC) would make CFP an
attractive route for biomass conversion. The presence of the catalysts in CFP induces
reactions that involve the removal of the oxygenated species and enhance the cracking
reactions of the heavy molecules in primary pyrolysis vapours. With the use of different
catalysts, varying degrees of deoxygenation can be achieved via simultaneous
decarbonylation (CO rejection), decarboxylation (CO, rejection) and dehydration (H,O
forming) reactions [42]. These reactions alleviate the acidity, density, and the viscosity of the
pyrolysis liquid and thus increase its stability and calorific value.

In CFP of biomass, the type of the catalyst affects the mechanism of oxygen removal
and the spectrum of the produced chemical compounds. The catalyst properties play a vital
role in the selectivity towards higher value compounds (alkanes, phenolics, mono-aromatic
hydrocarbons, efc.) while avoiding undesirable compounds (sugars, acids, poly-aromatic
hydrocarbons, efc.) [43,44,86]. However, since each catalyst favours different reaction
mechanisms, some specific chemicals (i.e. aromatics) cannot be produced with every catalyst.
Indeed, selectivity can be tuned by changing the physical and/or chemical properties (surface
area, pore size, impregnation of active metals, etc.) of the specified catalyst or by mixing
different catalysts together. Hence, the targeted product specifications determine the selection
of the catalyst that serves through the purpose of the CFP operation.

The reported research regarding the development of CFP of biomass spans a wide range
of catalyst combinations, temperatures, and feedstocks in an effort to develop fundamental
knowledge on the catalytic effects, processes and operating conditions. Apparently, the main
goal was to produce a liquid product with less oxygenated compounds and possibly richer in
high-value compounds. Large number of studies in the CFP literature has focused on
maximizing the production of mono-aromatic hydrocarbons (MAHs). However, the
production of aromatics should not be the only criterion that values a catalyst in CFP
conditions. Deoxygenation capability, removal of reactive oxygen functionalities, the ability
to suppress the formation of coke and PAHs, the activity and lifetime of the catalyst are other
parameters that should be considered carefully.
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The main objective of this study was to find the best performing catalysts capable of
retaining the amount of the organic liquid products as much as possible with a minimum
water production, and also achieving an effective reduction of the acidity during in situ CFP
of pine wood. In order to determine their individual cracking and deoxygenation
performances in in situ fast pyrolysis of pine wood, eight proprietary zeolite catalysts supplied
by Albemarle Catalyst Company B.V. (Amsterdam, The Netherlands) were screened. Both a
mini-plant based on auger reactor technology and a py-GC/MS system was used while
applying the same temperature (500 °C) and catalyst-to-biomass ratio (5). Based on the type
of the carrier, their acidity (acidic and basic catalysts), the active metal they contain, and
according to the aged/freshly calcined distinction, these catalysts were divided into three
groups. The experimental results obtained from in situ application of the catalysts were
compared to each other and to the results of non-catalytic experiments which were designated
as the base case. The results were investigated based on the obtained product yields (organics,
water, char, coke and non-condensable gases), elemental compositions of these product
fractions, the acidity and the composition of the pyrolysis liquids (via a GCXGC/MS). The
results obtained from py-GC/MS experiments and the use of py-GC/MS in CFP research has
been investigated as well.

4.2 Experimental section

4.2.1 Materials
4.2.1.1 Biomass feedstock

Pine wood (Bemap Houtmeel B.V. (Bemmel, Netherlands) was used as the reference
biomass feedstock in all experiments. The number-average particle size of pine was between
1 and 2 mm. The moisture and ash content were determined to be 8.4 wt.% and 0.3 wt.% on a
“as-received” basis (a.r.), respectively. For py-GC/MS experiments, the pine wood sample
was finely ground in a centrifugal mill and screened to obtain samples with particle sizes of
ca. 100 pym. The proximate analysis data, elemental composition, alkali metal content and
HHYV of the pine wood are listed in Table 4.1.
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Table 4.1. Properties of pine wood.

Proximate analysis (wz.%)
Fixed carbon (d.b.) 15.0
Volatiles (d.b.) [ASTM E872-82]  84.8
Moisture (a.r.) [ASTM E871-82] 8.4

Ash (d.b.) [ASTM E1755-01] 0.3
Ultimate analysis (d.b.) [wz.%]
C 47.1
H 5.9
O 46.4
N 0.04
S 0.06
Alkali metals (d.b.) [mg/kg]
K 346
Na 10
Mg 113
Ca 767
HHV (a.r.) [MJ/kg]" 16.8
HHV (d.b) [MJ/kg] 18.3

" Calculated by using the Milne formula [187]

4.2.1.2 Catalysts

Eight proprietary catalysts were used to investigate their impact on pyrolysis product
distribution. The catalysts supplied by Albemarle Catalysts Company B.V. (Amsterdam, The
Netherlands) were provided in powdered form. To minimize the water accumulation in the
final liquid product, most catalysts were calcined in air at 500 °C for 1 hour before shipment
to decrease the catalyst bound/absorbed moisture content to below 1 wt., after which they
have been packaged under inert conditions; with the exception of the catalysts labelled with
the suffix “—A”, which had been calcined and subsequently stored for five months to study the
effect of aging on the catalyst. Here, the term ‘aging’ represents the anticipated adsorption of
water and/or CO; on the catalyst from its contact with air. Physical and chemical properties of
the catalysts used can be found in Appendix A (this appendix is confidential and can only be
accessed by signing a confidentiality agreement).

The first group of (three) catalysts are all based on an acidic zeolite (ZSM-5) containing
material and have been labelled “A” for acidic. Two major catalyst variations were made,
both containing a not-further-specified redox metal M1. The first modification, termed A—
M1-H, contained a high amount of redox metal M1. The second modified version had a lower
metal content and lower zeolite content. This catalyst has been labelled A-M1-L. The
catalysts in this group contain varying amounts of ZSM-5 in their structure, viz. 40 wt.% in
catalyst A and 28 wz.% in A-M1’s. The M1 metal content for the low metals version is more
than five times lower than the high metals version. This variation in metal content had no
measurable effect on the total surface area, but selective pore blocking cannot be excluded. As
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a result of the loading of redox metal M1 on the particles (typically 90 um in diameter), the
averaged diameter increased significantly for both “~H” and “~L” variants.

The three catalysts of Group 2 were based on the same basic material, denoted as “B”.
Catalyst B is known for its hygroscopic nature and had a much higher loss-on-ignition
(L.O.I1.) compared to other catalyst after prolonged exposure to (moist) air. On this basic
material B, the metal M2 has been added in a similar amount as M1-L. The obtained catalyst
is named B—M2. As being the same catalyst, the difference between B-M2-A and B-M2-F is
the aged and fresh distinction. After being synthesized, B-M2 was calcined and stored. After
5 months, half of the B-M2 was taken and calcined one more time and named as B-M2-F
(fresh). The remaining aged part was then labelled as B-M2-A. Due to the loading with metal
M2, the (BET) surface area of the particles halved compared to the original B catalyst.

The last group of catalyst was prepared from a y-alumina material and subsequently
labelled as “G”. This catalyst also contained the metal M2 as used in the basic catalyst B-M2
in the same amount, and distinction was made between aged material G-M2—A and freshly
calcined G-M2-F.

Prior to each mini-plant experiment, catalysts were blended with silica sand (PTB-
Compaktuna, Gent, Belgium) with a mean diameter of 250 um and a particle density of 2650
kg/m® (compacted bulk density = 1660 kg/m®).

4.2.2 Experimental setups

4.2.2.1 Fast pyrolysis mini-plant

Catalytic fast pyrolysis experiments were performed in a fully controlled, continuously
operated bench scale mini-plant designed and constructed by Biomass Technology Group
B.V., BTG (Enschede, The Netherlands) based on auger reactor technology. This mini-plant
(Fig. 4.1) has a maximum biomass throughput of 500 g-h™ and enables three types of biomass
fast pyrolysis experiments viz. non-catalytic (using hot sand as the heat carrier), in-situ
catalytic (using mixtures of sand and catalyst as heat carrier) and ex-situ catalytic (vapour
phase upgrading) [100]. In this study, only in-situ catalytic fast pyrolysis experiments were
performed to test various zeolite catalysts. Results obtained for each individual catalyst type
were compared with each other, and with the previously published non-catalytic data [100]
(Chapter 3 in this thesis). This mini-plant has been described extensively in an earlier
publication [100].

71



¢

Inert Gas

LI+ GC (NCG’s)

A 4

N
Biomass

iR

I

Bio-oil

Fig. 4.1. Scheme of the pyrolysis mini-plant: (1) biomass storage hopper; (2) biomass feeding
screw; (3) heat carrier storage hopper; (4) auger screw; (5) cooling jacket; (6) in-situ reactor;
(7) knock-out vessel; (8) in-situ reactor oven; (9) solids collection vessel; (10) gas filter; (11)
secondary knock-out vessel; (12) secondary oven; (13) condenser inlet heater; (14) cold trap
condenser tower; (15) tap water cooled stainless steel pipelines; (16) tap water cooled spiral
glass condenser; (17) ethylene glycol cooled spiral glass condensers; (18) refrigerated cooler;
(19) cotton filters; and (20) gas flow indicator. Green: N, lines; pink: heated zones; blue:
cooled zones.

An integrated screw feeder system, consisting of a biomass storage hopper with a
capacity of 4 kg (no. 1) and a biomass feeding screw (no. 2), is used to transport the biomass
to the auger screw (no. 4). The variable turning frequency of the biomass feeding screw
enables feed flow rates from 0.1 to 0.5 kg. In this work, a constant biomass flow rate of 0.2
kg/h was used for all experiments which yielded ca. 0.1 kg/h of pyrolysis liquid, suitable for a
full characterization.

The last section of the auger screw serves as the biomass fast pyrolysis reactor that is
from the point where the biomass and heat carrier are intensively mixed. The solid material’s
residence time is ca.l s (no. 6). The temperature in this section is taken to be the in situ
reactor temperature, Tj;. This temperature is used as the set point for the ovens’ (ro. 8 and no.
12) (Westeneng Ovenbouw B.V.) control loop. To prevent biomass decomposition before
contact with the heat carrier, a water-cooled stainless steel jacket (no. 5) was placed around
the front section of the auger. The heat carrier is transported to the auger screw through a 110
cm long heated screw from the heat carrier storage hopper with a storage capacity of 25 kg
(no. 3).
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While the produced vapours are entrained to the knock-out vessels (no. 7 and no. 11) by
the continuous inert gas flow (N), the solid particles (char, sand, catalyst) fall down to the
solids collection vessel (no. 9). In order to assure complete devolatilization of the biomass
particles, an L-valve type of solids buffer is placed in the entrance of the collection vessel.
This valve is a bent pipeline that slows down the solids flow and allows an additional solid
hold-up to extend the contact time of charred biomass with the hot heat carrier.

Pyrolysis vapours flows through the condenser via a heated inlet line that prevents local
tar accumulation (no. 13). The condensation of the pyrolysis vapours into the pyrolysis liquid
takes place in a tap-water cooled condenser system which is composed of a condenser tower
(no. 14), vapour transfer pipelines (no. 15), and a spiral glass condenser (no. 16). To
maximize the liquid collection, the outgoing gas stream finally passes through two ethylene
glycol cooled spiral glass condensers (no. 17) which are operated at —25 °C and cotton filters
(no. 19). The volumetric flow rate of the outgoing non-condensable gases is measured with a
dry gas flow indicator (Itron, Gallus 2000 G1.6, accuracy is 10* Nm?) (no. 20). Several
thermocouples and pressure sensors are placed along the setup to continuously monitor the
temperature and pressure at various points. The mini plant unit was fully automated by using
industrial system software (Advantech ADAMView).

The possible ranges of the most significant operating parameters and the experimental
procedures are listed in an earlier publication [100]. In all in situ CFP experiments, the
catalyst samples were mixed with sand in a mass ratio of 1:6.67. The quantities of catalyst and
biomass used were ca. 1 and 0.2 kg, respectively, resulting in a catalyst to biomass mass ratio
of ca. 5. All in situ catalytic fast pyrolysis experiments were carried out at a fixed reactor
temperature of 500 °C for an experimental run time of 60 min. Inert gas flow rates were kept
constant at 120 L/h.

4.2.2.1.1 Mini-plant CFP product analysis

The composition of non-condensable gases was determined off-line using a micro GC
(Varian 490-GC) equipped with two TCD detectors and two analytical columns. Helium and
Argon (Alphagaz) were used as carrier gases. The first column (10 m Molesieve 5A (with
backflush)) was set at 75 °C to determine H», inert N,, CH4 and CO. The second column (10
m PPQ) was set to 70 °C and used for the determination of CO,, C;H4, C,Hs, C3Hg and C;Hs.
The sum of C,H4, C;Hg, C3Hg and C;Hjg is referred to as C,+. This GC was calibrated prior to
each experiment by using two different gas mixtures of a known composition. The total
volume of the outlet gas mixture is measured using a gas flow indicator (in Nm?, accuracy is
10* Nm”). To determine the exact volume percentage of each individual gas component in the
non-condensable gas mixture, the molar amount of each gas was calculated by the ideal gas
law.
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The amount of char was determined by means of sieving the contents of the solids
collection vessel. Small amounts of char were taken for the elemental analysis which was
carried out with a Thermo Scientific Flash 2000 Organic Elemental Analyser. The amount of
system deposits (i.e. solid carbonaceous matter other than char) was determined by subjecting
the char-free content of the solids collection vessel to combustion in air using a muffle
furnace (Carbolite AAF 1100) at 600 °C for 6 h. In the case of non-catalytic experiments, an
average system deposits value of ca. 3 wt.% was obtained (checked a number of times). The
amount of coke in the case of catalytic experiments was determined by applying the same
procedure. The coke yield was then simply calculated by subtracting the average non-catalytic
system deposits value from the average catalytic system deposits value.

At the end of each experiment, the whole cold-trap condenser system was flushed with
tetrahydrofuran (THF). The use of this solvent allowed the complete collection of the heavy
bio-oil fractions that are stuck on the condenser walls and in the vapour pipelines. The
collected bio-oil/THF mixture (single phase) was later analysed via a GCXGC-FID in terms
of its THF content to determine its dilution factor. The detailed characterizations of bio-oils
were performed on a GCxGC setup which is a combination of GCxGC-FID and GCxGC-
TOF-MS [50,180]. This setup is equipped with two columns (Rtx-1 PONA (50 m L x 0.25
mm [.D. x 0.5 pm df) and BPX-50 (2 m L x 0.15 mm L.D. x 0.15 pm df)) and both an FID
and a TEMPUS TOF-MS (Thermo Scientific, Interscience Belgium) detectors. Dibutyl ether
and fluoranthene were used as internal standards. The injection volume was 0.2 pl, with a
split flow of 150 ml/min, and an injector temperature of 280 °C. Identification of the
compounds was done based on the retention time.

The water content of bio-oils was determined by Karl Fischer Titration (Mettler Toledo
V20 with 5 ml burette; electrode: DM 143-SC; reagent: Merck Combi Titrant 5 Keto; solvent:
Merck Combi Solvent 5 Keto). The acidity of the oil samples was identified in terms of TAN
(total acid number, in mg KOH/g liquid) (Metrohm 848 Titrino-Plus; titrant: KOH, 0.1N;
solvent: propan-2-ol and toluene, combined glass (pH) electrode, incorporated reference
system LiCl saturated in ethanol).

To obtain a good estimation of experimental errors, all the CFP experiments and
product analyses were performed in duplicates and in triplicates, respectively. All the values
presented in this work are averaged. For any detailed information regarding the yield
calculations and further experimental procedures, the reader is directed to our earlier
publication [100].
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4.2.2.2 Py-GC/MS system

Catalytic fast pyrolysis experiments were performed in situ by using a micro-pyrolysis
unit (Multi-shot pyrolyzer EGA/PY-3030D, Frontier Laboratories Ltd., Fukushima, Japan)
coupled to a Thermo Trace GC Ultra gas chromatograph (GC) with an ISQ mass spectrometer
(MS) detector. About 0.5 mg of pine was put to a sample cup made of deactivated stainless
steel (Frontier Laboratories Eco-cup, 80 pl). For the in situ experiments, the amount of
catalyst used was ca. 2.5 mg to obtain a catalyst/biomass ratio of 5 (wt./wt.) which was the
same as in mini-plant experiments. The catalyst and the pine particles were physically mixed
in these defined proportions and a layer of quartz wool was placed on top of catalyst/pine
wood mixture to hold it in the cup during pyrolysis. The loaded sample cup was dropped
instantly by gravity into the quartz tube situated inside the preheated furnace. Consequently,
the sample was heated rapidly to the desired pyrolysis temperature of 500 °C at a heating rate
of ca. 2000 °C/s (this heating rate is claimed by the manufacturer). Released pyrolysis
vapours were swept from the open end of the quartz tube into the pyrolysis interface (kept at
350 °C) with a helium carrier gas stream (Air Liquide, Herenthout, Belgium, purity: > 99.9%)
and then routed to the GC-MS system.

The pyrolysis vapours are directly injected into the GC using a split/splitless injection
port (split ratio 1:100) operated at 300 °C. The chromatographic separation of pyrolysis
products is performed using a Restek capillary column (Rtx-1707, 60m L x 0.25 mm L.D. x
0.25 pm df) with a stationary phase consisting of a crossbound 14 % cyanopropylphenyl and
86 % dimethyl polysiloxane and a constant helium carrier gas flow of 1 ml/min. The GC oven
temperature program started with a 3 min hold at 40 °C followed by heating to 280 °C at 5
°C/min. The final temperature was held constant for 1 min.

Subsequent to the separation in the GC column, pyrolysis compounds were identified by
using an MS. The integration and identification of chromatographic peaks were performed by
system software (Xcalibur 2.1). Each peak appearing in the obtained mass spectra was
interpreted using the NISTOS library. Three identical experimental runs were carried out per
sample and the obtained data were averaged.

4.3 Results and discussions

4.3.1 In situ catalytic fast pyrolysis — Mini-plant results
4.3.1.1 Product yields

The amounts of the organics, water, char (in combination with system deposits), coke
on catalyst, and non-condensable gases were determined experimentally, allowing for the
determination of the overall mass balance for the CFP process. The results are shown in Fig.
4.2. Mass balance closure varied between 96.0 wt.% and 102.9 wz.%. Small but inevitable
product losses, which are inherently related to this scale of operation, are the reason that the
mass balances could not be closed completely. Variations were mainly due to the handling,
collection and weighing of the products. The experimental reproducibility showed a standard
deviation of each product below 8%, indicating accuracy sufficient for observing trends in the
experiments.
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Fig. 4.2. Mass balances for fast pyrolysis of pine wood in the presence of various catalysts.
The first bar shows the result of the non-catalytic (sand) experiment. All experiments were
performed at a reactor temperature of 500 °C.

In the tests with Group 1 catalysts, compared to the non-catalytic value of 36.9 wt.%,
the smallest decrease in organics yield was seen with A-M1-L which yielded 35.0 wt.% of
organics. Although catalysts A and A-M1-H gave almost the same yield in organics, the
difference between these two catalysts were observed as higher water and lower coke yields
found with A-M1-H. Group 1 catalysts contain varying amounts of ZSM-5 in their structure
(40 wt.% in catalyst A and 28 wt.% in A-M1’s). ZSM-5 is an active cracking and
deoxygenating catalyst which is widely used in the research dealing with catalytic
deoxygenation of biomass fast pyrolysis liquids and vapours. Its high activity results in low
yields of hydrocarbons and high yields of coke and water [69]. In general, when different
types of porous catalysts are involved in CFP of biomass, the production of water, coke and
non-condensable gases (NCQ) is favoured at the expense of organics [72]. The lower yield of
organics is an indication of a higher degree of cracking and deoxygenation. As expected,
water, NCG and coke yields increased with both catalysts, except A—-M1-L; it showed a
performance with the smallest increases in the aforementioned products. The reason for the
high water yield (39.7 wt.%) obtained with A—-M1-H is likely due to the higher redox metal
content in this catalyst which caused additional water production (a detailed explanation can
be found in Appendix B. This appendix is confidential and can only be accessed by signing a
confidentiality agreement). Adversely, the lowest water yield in this group was obtained with
A-MI1-L (26.1 wt.%), which was even lower than that of catalyst A (34.0 wt.%), revealed that
the lower amount of redox metal in this catalyst suppresses the formation of water. Overall, it
can be concluded that the variation of the metal content in a ZSM-5 catalyst can significantly
change the product distribution in CFP of biomass.
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The primary fast pyrolysis vapours from pine underwent various reactions in the
presence of catalysts, including deoxygenation reactions (dehydration, decarboxylation,
decarbonylation) that resulted in the production of hydrocarbons, but also in additional
heterogeneous coke. Compared to the char yield obtained in non-catalytic experiments, the
amount of char produced decreased in similar quantities (ca. 3 wt.% on feed basis, a.r.) with
all catalysts tested in this work which revealed that the presence of zeolite catalysts promote
the biomass devolatilization. This may be caused by higher biomass particle heating rates in
the presence of catalysts, due to a reduction in the average particle diameter of the heat carrier
(i.e. sand-catalyst mixture). The reason for the similar char yields in the presence of catalysts
was due to the fact that each catalytic experiment has been carried out under identical process
conditions (reaction temperature, catalyst-to-sand ratio, catalyst-to-biomass ratio, biomass
residence time and heating rate).

In general, a larger coke production is observed for the catalysts that also show higher
yields of aromatics. This may be related to their dehydration activity (see Table 4.2). The
highest coke yield (7.1 wt.%) was seen for catalyst A. The presence of the redox metal in
ZSM-5 supressed the coke production by 2.1 wt.% and 1.2 wt.%, for A-M1-H and A-M1-L,
respectively. A higher hydrogen partial pressure (due to water-gas shift reaction) could
promote hydrogenation and limit the dehydrogenation. This low coking rate of the redox
metal was in line with the observations found in the literature [110].

With Group 1 type catalysts, increases in non-condensable gas yields were observed
compared to the non-catalytic experiments which had a non-condensable gas yield of 20.5
wt.%. Although the differences between catalyst A and its redox metal containing
counterparts were small, it can be concluded that, on average, high weight percentage redox
metal containing A-M1-H gave the highest yield of NCG’s with a yield of 26.3 wt.%, which
is 1.6 wt.% higher than that of A—-M1-L. This revealed that, the increase of redox metal in the
catalysts promotes gas production. It should also be noted that although the amount of ZSM-5
(cracking catalyst) is lower in A-M1 catalysts (40 wt.% in catalyst A and 28 wz.% in A—
M1’s), the larger NCG yields in A-M1-H and in A-M1-L compared to that of catalyst A,
further shows the promotion of gas products by the presence of redox metal in the catalyst.

Compared to the non-catalytic yields, the yields of water, coke and NCG’s increased
with the presence of Group 2 type catalysts at the expense of organics and char. The only
exception was the lower NCG yield (18.8 wz.%) found with the catalyst B. In general, basic
mixed-metal oxide catalysts favour the dehydration mechanism while suppressing the
decarbonylation and decarboxylation mechanisms (see Fig. 4.2 and Fig.4.3). The very high
water yield observed in the presence of basic catalyst B (42.0 wt.%), revealed that the main
deoxygenation mechanism with this catalyst was dehydration. The addition of the metal M2
on catalyst B (i.e. B-M2-A and B-M2-F) decreased the water yields but boosted NCG
yields, showing that the presence of metal M2 promotes the production of gases rather than
the dehydration mechanism. Specifically, metal M2 shifts the water-gas shift reaction (Egq.
4.1) to the right (see Appendix B), favouring CO,+H; production over CO; consumption (see
Fig. 4.3).

CO +H,0 <> CO, +H, (Eq. 4.1)
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When aged (B-M2-A) and freshly calcined (B-M2-F) catalysts are compared, the
effect of calcination was observed as small increases in water, coke and NCG yields and a
slight decrease in the organic yield observed in case of the freshly calcined counterpart. It
simply confirms that the freshly calcined catalysts are slightly more active, they promote
deoxygenation (more water and more gas) thereby increasing the amount of coke and coke
precursors.

Comparing Group 3 catalysts, the effects of the various catalysts are relatively small. If
compared to the non-catalytic case, the water, coke and NCG yields increased again at the
expense of organics and char yields. Although the presence of metal M2 on different carriers
(B and G) did not show any remarkable effects on the yields, the aged/freshly calcined
comparison reveals obvious differences. The NCG and coke yields obtained from freshly
calcined catalysts (B-M2-F and G-M2-F) were larger than those from their aged
counterparts (B—-M2—A and G-M2-A). This was because of the carbon which was supposed
to be converted/reacted to form liquid products stayed in the catalyst pores as coke or might
be due to the selective blocking (by either water or CO;) of the active sites and/or pores.
Moreover, aged catalysts yielded slightly more organics than the freshly calcined ones which
also points at a reduced catalytic activity (i.e. more oxygenated organics). The water and char
yields were quite similar in both catalysts. Although the differences in product distributions
are very small with Group 3 type of catalysts, detailed gas, liquid, and elemental analyses in
the following sections will reveal some other differences between them.

4.3.1.2 Non-condensable gas analysis

Total non-condensable gas yields including the yields of individual gas compounds and
the dimensionless CO/CO, ratios are shown in Fig. 4.3. Production of water and COy
compounds (CO and CO,) is an indicator of the deoxygenation capability of a catalyst in CFP
of biomass.
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Fig. 4.3. Non-condensable gas composition and dimensionless CO/CO, ratios (¢) resulting
from fast pyrolysis of pine wood in the presence of various catalysts, compared to the
reference, non-catalytic (sand) experiments. The numerical values of the CO/CO; ratios are
included. All experiments were performed at a reactor temperature of 500 °C.

When observing the changes in CO and CO, yields, it can be concluded that, compared
to non-catalytic results, Group 1 type catalysts seem to favour decarbonylation (CO
production) reactions while Group 2 and Group 3 type catalysts favour decarboxylation (CO,
production) reactions. However, it should be noted that the change in CO/CO; ratio could also
be partly or entirely caused by water-gas shift reaction induced by the (redox) metal loading.
Among the tested catalysts, catalyst A gave the highest yields of CO with 16.1 wt.%. This
yield was 14.3 wt.% for A-M1-H and 15.4 wt.% for A-M1-L (see Appendix B). On the other
hand, an increased CO; production from 6.8 wt.% with catalyst A to 9.9 wt.% for A-M1-H,
and 7.1 wt.% for A-M1-L was observed. In line with the decrease of CO and the increase in
CO,, the increase in H, was related to the promotion of water-gas shift reaction (Eg. 4.1). H
yield of 0.04 wt.% observed with catalyst A increased to 0.15 wz.% for A-M1-H and 0.11
wt.% for A-M1-L. This may be due to the consumption of hydrogen atoms for the production
of aromatic hydrocarbons (see Table 4.2). This is supported by the decrease in the non-
catalytic CHy yield from 1.4 wt.% to 0.9 wt.% in the presence of catalyst A.

With Group 2 catalysts, the lowest CO and CO, yields were found with catalyst B with
7.5 wt.% and 10 wt.%, respectively. Together with the high water yield shown in Fig. 4.2,
these results revealed that catalyst B promotes dehydration while water-gas shift is not caused
significantly by this catalyst. The presence of metal M2 promoted the increase in CO, and H,
yields which is an indication of the effect of M2 on the water-gas shift reaction (Eq. 4.1).
Slight decreases in CO/CO; ratio from 0.75 for catalyst B to 0.71 for catalysts B-M2-A and
B-M2-F supports this statement. The increased yield of H,O (compared to the non-catalytic
case) and the decreased yield of CO, were favourable for moving the reaction to the right-
hand side of this equilibrium, resulting in the depletion of CO and the formation of Ha.
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However, with the M2 containing catalysts (Group 3), the amount of CO produced was still
higher than that of catalyst B revealing that the presence of M2 also promotes CO production
(decarbonylation) and not all of it was reacted in water-gas shift reactions. Moreover, freshly
calcined B-M2-F catalyst gave higher NCG yields compared to that of aged B-M2-A.

When Group 3 catalysts were considered, the gaseous product yields were quite similar
to each other revealing that type of active metal (M2) the catalyst contains is decisive.

When the COyx (sum of CO and COy) is considered (Fig. 4.3), the highest and lowest
yields were seen in B-M2-F with 26.8 wt.% and in catalyst B with 17.5 wt.%, respectively.
The COy yield of catalyst B was even lower than that of non-catalytic value due to the fact
that this catalyst favours dehydration (H,O production) reactions rather than decarbonylation
and decarboxylation reactions. The presence of metal M2 boosted the production of COx and
freshly calcined catalysts yielded more COx compared to their aged counterparts. The higher
yield of COx found with A-MI1-H (24.2 wt.%) revealed that higher wt.% redox metal
favoured the deoxygenation through COx more than that of lower wt.% redox metal
containing A-M1-L which gave a COy yield of 22.5 wt.%.

4.3.1.3 Deoxygenation performances of the catalysts

The target of a CFP process should be to produce a maximum amount of liquid organics
(CFP-oil), while minimizing the oxygen content of it and keeping its H/C ratio as much as
possible. COx and H,O yields can be considered as the indicators of the deoxygenation
performances of various catalysts. On the other hand, higher H/C and lower O/C ratios are
preferable in terms of the energy content of the produced pyrolysis liquid. To this end,
decarboxylation is more advantageous than dehydration because it minimizes the loss of
hydrogen which is important for the catalyzed hydrocarbon forming reactions. Moreover,
compared to decarbonylation wherein a single oxygen atom is removed per carbon atom,
decarboxylation maximizes oxygen removal with minimal carbon loss (two oxygen atoms per
carbon atom) and thus allows maintaining high H/C ratio and low O/C ratio for the bio-oil
[100,177]. A useful representation for gaining insight into the effects of catalysts and process
conditions on the elemental composition of the CFP-oil is a van Krevelen plot [188]. The
results are provided in Fig. 4.4. Moreover, Fig. 4.5 shows the yields and oxygen contents
(both on a dry basis) of the organics fraction of the fast pyrolysis liquids produced over
various catalysts. This figure is meant to show the best performing catalysts with respect to
the production of the highest yield of organic fraction with the least oxygen content.
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produced in the presence various catalysts. The reference data points, belonging to the non-
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comparison. All experiments were performed at a reactor temperature of 500 °C. The dashed
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Fig. 4.5. Oxygen contents of the organics fraction of the fast pyrolysis liquids produced over
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point has been added for comparison. All experiments were performed at a reactor
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In this work, all CFP-oils show lower oxygen contents compared to that of non-catalytic
pyrolysis liquid revealing that all catalysts tested in this work deoxygenated the organic
fraction to various extents. These findings (particularly the O/C ratio shown in Fig. 4.4) are in
a similar range as reported for the hydrotreated bio-oils under deep HDO conditions [189]. A
remarkable result is seen for catalyst B. It produced no more COy than the non-catalytic base
case (see Fig. 4.3), while at the same time produced the highest amount of water (see Fig.
4.2). Fig.4.4 and Fig. 4.5 also confirm that the CFP-oil produced with catalyst B is a low
oxygen containing, carbon-rich oil. Compared to the non-catalytic value of 19.1 % (relative %
to feed), the carbon content of all catalytically produced gases increased except for catalyst B;
it gave a (lower) value of 15.6 %. Obviously, in case of catalyst B, the deoxygenation takes
place largely by dehydration (see Table A.4.1 in the Supporting Information). For B-M2-A
and B-M2-F, the presence of metal M2 increased the atomic H/C ratio (evidence of the
presence of hydrocarbons) while keeping the atomic O/C ratio at a level very close to that of
catalyst B.

Although the highest quantity of CFP-oil was obtained with low concentration redox
metal containing A-M1-L, it also has the highest oxygen content (22.5 wt.%). The addition of
a lower amount of redox metal to catalyst A seems to be beneficial for maintaining the oil
yield but not for the oxygen removal. On the other hand, higher concentration redox metal
containing A-M1-H catalyst remarkably decreased the oxygen content in the oil; however, it
produced the lowest amount of CFP-oil among other catalysts. Based on the results in Fig. 4.4
and Fig. 4.5, one would conclude that metal M2 containing basic and y-alumina catalysts
(Group 3) showed good performances. Especially the aged versions B-M2-A and G-M2-A,
came forward with their fairly low oxygen content and high oil yields. Moreover, the oxygen
content of gaseous products increased for both catalysts (Table A.4.1 in the Supporting
Information), especially for Group 3 type catalysts this increase was more pronounced. These
results supported the increases in the yields of CO and CO, and revealed that deoxygenation
through gaseous products (instead of water) were favoured in the presence of these catalysts
(with an exception of catalyst B). The LHV values of gases varied from 10.7 MJ/m’ to 15.4
MJ/m® which are in the range of the medium level gaseous fuels. These gases could be used
directly in engines, turbines and boilers for power production [190] (see Table A.4.2 in the
Supporting Information).

4.3.1.4 Acidity: results of TAN measurements

One of the main objectives of catalytic fast pyrolysis is to enable a feed suitable for oil
refineries. The physical and chemical properties of the CFP-oils must be closer to the typical
hydrocarbon feed than the virgin bio-oil. The determination of the total acid number (TAN) is
a basic and a preferred method for measuring the acidity of hydrocarbons [191]. The TAN of
non-catalytic bio-oil is around 100 [192] and this value is supposed to drop by CFP. The
acidity of bio-oil is mainly due to volatile organic acids like acetic and formic acid, and the
total acid number of bio-oil measured by titration was shown to correlate highly with the
organic acid concentration measured by GC/MS [193]. On the other hand, phenolic
compounds also contribute to the acidity of bio-oil (phenol, pK,=10, acetic acid, pK,=4.8),
but to a much lesser extent [177]. An increase in the yield of CO, during CFP can be related
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to the deoxygenation of carboxylic acids and thus to a decreased acidity in the produced bio-
oil. Fig. 4.6 shows TAN and the dimensionless CO/CO, values for in situ catalytic fast
pyrolysis of three different groups of catalysts, compared to the reference, non-catalytic
(sand) experiments of pine wood at 500 °C. The lower values of CO/CO, ratio (see Fig. 4.3)
indicate a preference for decarboxylation reactions over decarbonylation ones, and then lower
TAN values are expected. Among all the catalysts, catalyst B showed the lowest TAN value
(3.8 mg KOH/g pyrolysis liquid) which is an indication of the effective removal of carboxylic
acids (see Table 4.2). The presence of metal M2 increased the TAN but a difference between
aged and freshly calcined B-M2 catalyst is not observed. Similarly, with G-M2 catalysts, the
TAN values were almost the same while here the freshly calcined G-M2-F gave a slightly
smaller value for the CO/CO; ratio (indication of favoured decarboxylation reactions with this
catalyst). Group 1 type catalysts showed a consistent correlation between the TAN and
CO/CO; ratio; with increased CO, production TAN decreased.
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Fig. 4.6. Fast pyrolysis of pine wood over various catalysts performed at 500 °C.
Dimensionless CO/CO; ratios of the non-condensable gases plotted versus the TAN values of
the organic fractions of the condensed liquids. ‘Sand’ refers to the result of non-catalytic
experiments.
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4.3.1.5 Liquid composition

In the liquid samples produced with the various catalysts in the mini-plant, eighty
components were detected via GCxGC-TOF-MS analysis and quantified by GCxGC/MS-
FID. For the quantification procedure, the reader is referred to the paper of Djokic et al. [180].
The yields of these compounds were calculated in wt.% on feed basis (a.r.) and grouped based
on their chemical functionalities viz., sugars, aldehydes, acids, furans, ketones, phenols,
aromatics (mono-, di-, naphtheno-) and others (unclassified compounds). The individual
weight percentages of identified compounds, unidentified compounds, and water in total
liquid product were included as well. The results are shown in Table 4.2.

In CFP with acidic zeolites, the catalyst is expected to crack the macromolecules into
smaller ones such as anhydrosugars to furans, phenols to mono-aromatic hydrocarbons, furans
to hydrocarbons, etc. via acid catalyzed dehydration, decarbonylation and decarboxylation
reactions [50]. In case of the tests performed with Group 1 type catalysts, the distribution of
bio-oil constituents was altered and compared to non-catalytic (sand) experiments.
Remarkable decreases in sugars, aldehydes, acids, furans, ketones and others (unclassified
oxygenates) were observed (Table 4.2). The decrease in sugars is a pretty well-known effect
in catalytic pyrolysis of lignocellulosic biomass with acidic zeolites [100]. In particular,
catalyst A eliminated most of the sugars and all the aldehydes while it favoured the
production of phenols and aromatics. The presence of the redox metal in catalysts A-M1-H
and A-M1-L, and the slight difference in their acidity (ZSM-5 content) compared to that of
catalyst A, remarkably changed the product speciation; aromatics and phenols were reduced
significantly. Moreover, the fraction of unidentified compounds is much larger for the redox
metal containing catalysts if compared to that of catalyst A. Especially A—-M1-L catalyst
seem to be difficult to characterize on GCxGC-MS. As another observation, none of the
catalysts tested in this work yielded any aldehydes — suggesting that aldehydes are the most
reactive group in pyrolysis vapours and thus the ones first to be removed in CFP.

For Group 2 and Group 3 catalysts, the compounds that can be quantified by means of
GCxGC/MS-FID are very limited. The total weight percentages of identified compounds in
pyrolysis liquids vary between 3.1% and 6.3% which does not allow any solid conclusions to
be made. This might be due to the size of the molecules which are likely too high for the
detection in GCxGC/MS-FID, or because of the ineffectiveness of these catalysts in cracking.
Particularly, basic catalysts (Group 2) are known to promote aldol condensation. This carbon-
carbon coupling reactions yield longer chain molecules. For that reason, it could well be that
some of these heavier resulting molecules can simply not be detected by GCxGC-TOF-MS
due their low volatility.
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Table 4.2. Fast pyrolysis of pine wood over various catalysts performed at 500 °C. Yields of compounds in the organic fraction of the condensed
liquids, classified according to their functionalities, as quantified by GCxGC/MS-FID. The results of non-catalytic (sand) experiments are
included for comparison.

GROUP 1 GROUP 2
GROUP 3
Sand A A-M1-H A-MI1-L B B-M2-A B-M2-F G-M2-A G-M2-F

Identified (total) [wz.% on feed] 19.1 12.6 4.1 7.2 2.5 34 2.5 1.7 2.9
(% in total liquid) (33.3) (25.1) (7.5) (11.7) 3.9 (6.3) (4.8) 3.1 (5.8)

Sugars (3 compounds) 2.21 0.06 0.55 1.57 0.29 0.16 0.26 0.11 0.17

Aldehydes (1 compound) 2.20 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Acids (4 compounds) 547 1.25 1.11 1.50 0.37 1.45 0.41 0.64 0.85

Furans (9 compounds) 0.78 0.42 0.13 0.14 0.19 0.06 0.06 0.06 0.12

Ketones (8 compounds) 1.01 0.69 0.30 0.58 0.30 0.35 0.34 0.13 0.37

Phenols (18 compounds) 4.37 5.23 1.24 2.25 0.77 1.02 1.03 0.60 1.02

Aromatics (19 compounds) 0.09 4.23 0.22 0.16 0.25 0.11 0.12 0.12 0.17

Others (18 compounds) 2.96 0.74 0.58 0.97 0.31 0.27 0.28 0.05 0.23
Unidentified [wz.% on feed] 17.8 3.7 11.6 27.8 19.5 23.6 21.6 26.6 21.0
(% in total liquid) (31.0) (7.3) (20.9) (45.5) (30.5) (43.7) (41.4) (47.7) (41.4)
Water' [wz.% on feed] 20.5 34.0 39.7 26.1 42.0 26.9 28.1 27.5 26.8
(% in total liquid) (35.7) (67.6) (71.7) (42.7) (65.6) (49.9) (53.8) (49.3) (52.9)
Total liquid yield [wz.% on feed] 57.4 50.3 55.4 61.1 64.0 53.9 52.2 55.8 50.7

"Results of Karl-Fischer analyses.
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4.3.2 In situ catalytic fast pyrolysis — Py-GC/MS results

Py-GC/MS is a rapid and reliable analytical pyrolysis method that can provide the first
hints on the way to find the right catalysts before starting any time-consuming larger scale
CFP experiments. It allows real time analysis and helps in understanding the chemical
mechanisms/pathways leading to pyrolysis liquids with desired properties for certain
catalyst/biomass combinations and experimental conditions. Py-GC/MS is a powerful tool for
fast pyrolysis studies also because the short residence time of pyrolysis vapours in the micro-
pyrolyzer limits the extent of secondary vapour-phase reactions. On the other hand, contact
times of these vapours with the catalyst are likely much shorter than in a real pyrolysis setup;
this may cause an insufficient conversion of primary pyrolysis vapours to the reformed
products in the vapour phase.

Py-GC/MS experiments do not allow any liquid product collection, and thus the exact
bio-oil yield cannot be determined. Nevertheless, an estimation of the changes in the yields of
total organic volatile compounds can be made through the total chromatographic response
areas (TIC) relative to the amount of feed (response area/mg biomass). In this work, detected
compounds were classified into twelve groups, with the purpose of clearly showing the
compositional changes, and the results are shown in Figures 4.7, 4.8 and 4.9.
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response area/mg pine) at 500°C. Functional groups quantified according to their cumulative
TIC peak area in py-GC/MS.
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Similar to that of GCxGC/MS analyses of CFP-oil, catalyst A decreased the amount of
ketones and sugars compared to that of non-catalytic (denoted as pine in the case of py-
GC/MS) experiments. Unlike the mini-plant results shown in Table 4.2, aldehydes were
observed in py-GC/MS experiments. Aldehydes are among the most unstable compounds in
bio-oils. In py-GCMS, both contact time of vapours with the catalysts and the residence times
of the reformed vapours are very low, so that the vapours are near instantaneously analysed
without being subjected to vapour condensation and storage conditions. However, in larger
scale bio-oil production experiments, there is some time between oil production and analysis
and thus the unstable aldehydes might already have reacted away (at least partial) during the
vapour condensation and/or storage.

In line with the findings in Table 4.2, catalyst A boosted the production of phenols and
aromatics in py-GC/MS. This can be attributed to the presence of ZSM-5 in this catalyst
which favours the production of aromatics [85]. The increase in the aliphatic hydrocarbons
(Fig. 4.7) in case of the redox metal containing catalysts (A—-M1-H and A—-M1-L) was in line
with the literature which suggested that the impregnation of metals to ZSM-5 type catalysts
were shown be effective in producing high yields of hydrocarbons [59]. Unlike the findings
shown in Table 4.2, it was seen that in py-GC/MS the vapour phase compound detection with
A-M1-L is greater than that of A—-M1-H, viz. by the larger total response surface area (see
also Fig. 4.11). In case of A-M1-L, the bars in Fig. 4.7 are higher for most of the functional
groups. The trends in acids, as seen in Fig. 4.7, are also in line with the findings shown in
Table 4.2. The presence of redox metal was found to decrease the production of aromatics
[173]. In line with this information, the concentrations of aromatics reduced in the presence of
A-MI1-H and A-M1-L.

In case of the Group 2 type of basic catalysts, py-GC/MS results showed remarkable
differences between catalyst B and its metal doped counterparts (B-M2—A and B-M2-F).
Catalyst B produced the highest yield of ketones in py-GC/MS among all catalysts studied in
this study. In basic catalysts, ketonization is an important mechanism of decarboxylation
[194] (basically ketonization is a reaction in which two carboxylic acid molecules form a
single symmetric ketone, while H,O and CO; are removed). The higher prevalence of ketones
in the presence of catalyst B supports this theory. Another important highlight was that the B—
M2 catalysts did not produce any aliphatic hydrocarbons (Fig. 4.9). This can be explained by
the absence of acid functionalities in these catalysts to enhance dehydration of organic
molecules. With both catalysts tested in py-GC/MS the amount of sugars remarkably
decreased, B-M2—A was the most efficient catalyst in the conversion of sugars. Moreover,
both basic catalysts showed their poor performance in producing (GC-detectable) aromatics.

Liquid analyses in GCxGC/MS-FID (see Table 4.2) revealed that the presence of metal
M2 in B-M2 type catalysts favoured the production of phenols, reduced furans and aromatics
in CFP-oil. However, when py-GC/MS results are considered, the high yields of ketones and
carboxylic acids found with catalyst B are inconsistent with the results shown in Table 4.2.
These inconsistencies could be caused by shorter vapour residence times and the absence of
vapour condensation in py-GC/MS which is occurring in the larger real fast pyrolysis process.
In general, the yields of these two functional groups in B-M2 catalysed pyrolysis in py-
GC/MS are lower than those catalysed by type B. Lower yields, as seen by the lower TIC

&7



(Total Ion Chromatogram) peak area in py-GC/MS as well as the lower concentration
reported by GCxGC/MS-FID in the pyrolysis oil revealed that B-M2 type catalysts favour the
conversion of vapours to coke and/or heavy molecular weight products at the expense of
GC/MS detectables. Basic catalysts may promote aldol condensation reactions, viz. two lower
molecular weight organic compounds recombine into a heavier (and potential GC
undetectable) compound.

One of the most important parameters to determine the performance of a catalyst in CFP
is its ability to deoxygenate. As stated before, CO, production can be considered as one of the
indications (the others are CO and H,0) of the deoxygenation capability of a catalyst in CFP.
Fig. 4.10 shows the response areas of CO,/mg pine wood identified by py-GC/MS in the
pyrolysis vapours with various types of catalysts. Similar to the trends in CO, yields shown in
Fig. 4.3, basic mixed-metal oxide and y-alumina catalysts boosted the CO, production
compared to that of acidic catalysts. These results show that py-GC/MS could be indicative in
terms of CO; yields. However, py-GC/MS used in this study is not a suitable tool that reveals
any data regarding CO and H,O production, and thus complete deoxygenation capability of a
catalyst cannot be determined. If one wants to assess the full deoxygenation capabilities of a
given catalyst in analytical pyrolysis, then additional detectors (such as an array of molecular
sieves with TCD detectors) need to be installed to quantify the permanent gases — which were
outside of the capabilities of the instrument used in this study.
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Fig. 4.8. Analysis of pyrolysis vapours of pine wood mixed with Group 2 type catalysts (in
response area/mg pine) at 500°C. Functional groups quantified according to their cumulative
TIC peak area in py-GC/MS.
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Fig. 4.9. Analysis of pyrolysis vapours of pine wood mixed with Group 3 type catalysts (in
response area/mg pine) at 500°C. Functional groups quantified according to their cumulative
TIC peak area in py-GC/MS.
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wood mixed with various types of catalysts, at 500°C.
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Primary fast pyrolysis vapours of biomass are composed of non-volatile oligomers and
volatile organic compounds. The catalysts promote the cracking of the oligomeric volatile
organics into monomeric ones; this increases the amount of (GC/MS detectable) volatiles. On
the other hand, the presence of catalysts influences the yields of volatile organic products by
causing the cracking of the products to permanent gases, polymerizing them to form cokes, or
oligomerizing them into heavier compounds with high boiling points up to a point that they
are no longer detectable by GC; all of these reduce the amount of volatiles [144]. Fig. 4.11
shows the total response areas of identified compounds obtained in py-GC/MS tests with the
use of various types of catalysts in the pyrolysis of pine wood. When a lower concentration of
redox metal added to an acidic zeolite (A—-M1-L) the range of detectable compounds with the
catalyst increased compared to its parent one. However, the addition of the same redox metal
to the same zeolite in higher quantities (A—M1-H) dramatically decreased the range of
detectable compounds with the catalyst. Similarly, the addition of metal M2 to the basic
catalyst (B-M2-A and B-M2-F) remarkably decreased the range of detectable compounds.
However, the addition of the same metal to the y-alumina catalyst (G-M2—-A and G-M2-F)
did not show the same effect; response areas were bigger than that of the basic catalysts. This
revealed that the same metal on different type of catalysts react differently in CFP
experiments performed in py-GC/MS. The identified fraction of the liquid products obtained
by GCxGC/MS (as reported in Table 4.2) are also included for comparison as a secondary
axis in Fig. 4.11. These results show that with all catalysts except B-M2-A and B-M2-F, the
amount of identified compounds in condensed liquid phase detected by GCxGC/MS are lower
than that of identified vapour phase compounds in py-GC/MS. This might because of some
heavier compounds whose boiling points are above that can be readily detected by GC/MS are
being formed with these catalysts during vapour condensation.
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Fig. 4.11. Cumulative response, taken as the total TIC peak surface area in the chromatogram
excluding the CO; peak, obtained from py-GC/MS tests with the use of various types of
catalysts in the pyrolysis of pine wood (in response area/mg pine) at 500°C. Unidentified
fraction of organic compounds in GCxGC/MS (in wt.% on feed basis) are included for
comparison.

In conclusion, the low percentage of quantifiable organics in the pyrolysis oil, as well as
in the pyrolysis vapours in case of analytical pyrolysis (Table 4.2 and Figures 4.7, 4.8, and
4.9) are due to the limitations of the GCxGC-MS and py-GC/MS analysis. Additional
problems in quantifying bio-oil or the constituents in pyrolysis vapours by means of GC-MS
is that certain pyrolysis compounds are poorly defined in existing MS libraries and sometimes
calibration standards are not existing. Unless the py-GC/MS is not quantitatively calibrated
for a number of well-defined specific compounds of interest, it is only partially indicative for
the performance of a catalyst in CFP. Moreover, analytical pyrolysis systems (i.e. py-GC)
employ very short vapour residence times and do not include the phenomena such as vapour
condensation. Consequently, the chemistry associated with longer vapour trajectories and
vapour condensation, which do occur in larger scale pyrolysis setups, will not be captured. All
these limitations inherent to the instrumental technique of gas chromatography should be kept
in mind when assessing performances of catalysts in catalytic pyrolysis based on oil or vapour
composition. For the exact determination of the deoxygenation performance as well as to
assess the complete composition and quality of the bio-oil, larger scale catalytic experiments
are indispensable.
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4.4 Conclusions

The main target of catalytic fast pyrolysis of lignocellulosic biomass is to deoxygenate
the liquid product as much as possible while minimizing the coke formation on the catalyst.
Complete deoxygenation however, would result in producing only hydrocarbons (or just
carbon in the worst case) at a very low yield. Hence, catalysis should be applied rather to steer
the oxygen functionalities in the pyrolysis vapours, resulting in the production of certain fuel
compounds or chemicals (aromatics, phenols, alcohols, furans, efc.) in the produced liquid. It
should be noticed here that the selection of a catalyst for catalytic fast pyrolysis of biomass is
determined in the first place by the requirements imposed by any future user of the liquid
product. As an example, the further (co-) processing in a refinery FCC unit would at least
require a significant degree of deoxygenation and a good miscibility with the fossil feedstock.
This work was meant to assess the efficiency of various catalysts in terms of their capability
to deoxygenate the pyrolysis vapours, and observe their potential to produce a liquid mixture
that could be used as a renewable feedstock in petrochemical industries.

In this work, eight proprietary catalysts were tested. They were divided into three
groups based on their acidity, the type of carrier, the type of active metal added, and also
according to being aged or fresh. Included are a ZSM-5 containing acidic zeolite (A) and its
redox metal added but lower ZSM-5 containing counterparts (A-M1-H and A-M1-L), a
basic mixed-metal oxide catalyst (B) and its metal added aged (B-M2-A) and freshly
calcined (B-M2-F) counterparts, and freshly calcined (G-M2-F) and aged (G-M2-A)
versions of a basic metal modified y-alumina catalyst. The term ‘aging’ represents the
anticipated adsorption of water and/or CO; on the catalyst from its contact with air.

In the continuously operated mini-plant experiments, the presence of catalysts led to the
production of coke, non-condensable gases and additional water at the expense of organics
and char. However, the quality of the obtained liquid products was altered in various ways,
depending on the catalyst type and its active metal content. Different mechanisms of oxygen
removal (decarbonylation, decarboxylation, and dehydration) were observed. In the case of
metal added catalysts, effect of the metals on the water gas shift reaction, pushing it in the
direction of CO; and H; production, may be well possible.

The adjustment of the redox metal (metal M1) content in a catalyst was seen to
significantly change the vapour phase reaction chemistry and thus the product distribution.
The acidic zeolite catalyst with a low loading of redox metal (A-M1-L) gave a higher yield
of liquid organics than its higher-concentration redox metal containing counterpart (A—M1—
H). Moreover, a higher redox metal content was shown to promote water and COy production.
The lower CO/CO; ratio found with A-M1-H catalyst revealed that a higher redox metal
content favours the decarboxylation (oxygen removal via CO, production). As another
observation, the presence of redox metal contributed notably to the suppression of coke
production.
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The higher water yield observed in the presence of basic catalyst (catalyst B, metal-free
parent catalyst) revealed that dehydration (oxygen removal via H,O production) is the main
deoxygenation mechanism for this catalyst. The addition of metal M2 to this catalyst resulted
in a decrease in water production, while boosting the production of non-condensable gases
and in particular the CO, CO,, and H, yields. A slightly lower CO/CO; ratio revealed that the
presence of metal M2 in the basic catalyst is capable of changing the mechanism of oxygen
removal compared to that of its parent one; it favoured the decarboxylation mechanism more
than dehydration or decarbonylation mechanisms.

Concerning the difference between fresh and aged catalysts the general observation is
that the freshly calcined catalysts show more activity in a sense of a notably increased
conversion of organics to the undesired products coke, non-condensable gases (mainly COy)
and water. The lower activity observed with the aged catalysts might be due to the adsorption
of water and/or CO, on these catalysts during their long-term storage. This may cause the
blockage of the pores and shielding of active sites.

In order to determine the performances of the catalysts tested under identical process
conditions, two separate evaluations are made based on various defined criteria. The
considered criteria are the deoxygenation by CO, (the preferred route for deoxygenation), the
yield of organic liquid phase, H/C ratio of the organic liquid phase, O/C ratio of the organic
liquid phase, coke yield, the production of desirable compounds, energy content in the organic
liquid phase, and the percentage of the detectable components in the organics. Although
subjective, and depending on any target applications, the order of the weight factors is
determined based either on the deoxygenation requirements (Table A.4.3a in the Supporting
Information) or on the production of desirable compounds in high yields (Table A.4.3b in the
Supporting Information).

The evaluation based on the deoxygenation requirements reveals that the best
performing catalyst was the metal added freshly calcined basic mixed-metal oxide catalyst
(B—-M2-F), while the poorest performance was shown by the ZSM-5 containing acidic zeolite
(A). Acidic catalyst with a low concentration of metal (A—M1-L), and freshly calcined basic
metal-modified y-alumina catalyst (G-M2-F) showed similar performances to that of B-M2—
F. On the other hand, when the target is the production of desirable compounds in high yields,
A-MI1-L performed as the best catalyst. B-M2-F and G-M2-F showed quite similar
performances to that of A—-M1-L. The basic mixed-metal oxide catalyst (B) showed the
poorest performance in this evaluation. The difference in catalyst performances is obvious
with respect to the metal loading and the amount of it. In general, metal doped catalysts
performed better than their parent counterparts. Moreover, in both evaluations, freshly
calcined catalysts performed better than their aged counterparts.

Concerning the micropyrolysis tests, it can be concluded that, unless the py-GC/MS is
not quantitatively calibrated for a number of well-defined specific compounds of interest, it is
only partially indicative for the performance of a catalyst in CFP. Furthermore,
micropyrolysis systems are limited by the type of separation and detector used (e.g. GC/MS)
with respect to the kind of pyrolysis compounds being quantified. It can therefore be
concluded that optimal micropyrolysis configurations (dedicated columns and detectors that,
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for instance, also allow dedicated quantification of permanent gases) could give indicative
results for catalyst performance. As such, an optimally configured py-GC/MS can be used as
a rapid screening tool prior to the time consuming larger scale CFP experiments. For the exact
determination of the deoxygenation performance as well as to assess the complete
composition and quality of the bio-oil, larger scale catalytic experiments are indispensable.

Overall, as it describes the results obtained with the use of various catalysts, this chapter
provides a good example of the tuning in both product properties and reaction pathways that
can be achieved with a catalyst in CFP.
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Chapter 5

Effect of successive catalyst regeneration
in catalytic pyrolysis of pine wood

Abstract

The main product of biomass fast pyrolysis is a liquid mixture of numerous organic molecules
with water that is usually called pyrolysis oil or bio-oil. The research discussed in this
chapter was meant (1) to validate a new, continuously operated pyrolysis set-up and (2) to
investigate the effect of a repeatedly regenerated ZSM-5-based catalyst (eight
reaction/regeneration cycles in total) on the yields and compositions of the pyrolysis products
in relation to the applied process conditions and on the catalyst itself. The reliability of the
set-up has been proven by multiple repetitions of non-catalytic and catalytic (in situ) pyrolysis
experiments for pine wood at 500 °C under identical conditions. As a result, the mass balance
closures for all experiments varied from 92 to 99 wt.%, while the scatter in measured data
was always less than 5%. Changes in the performance of the repeatedly regenerated catalyst
have been observed via detailed analysis of the bio-oil (GCXGC-FID and GCxGC-TOF-MS,
Karl-Fischer), the non-condensable gases (micro-GC), and the carbonaceous solids
(elemental analyser, BET surface area). Along the reaction/regeneration sequence, the yield
of organics increased, while water, carbonaceous solids, and non-condensable gases
decreased. Trends in pyrolysis product yields converging to that of non-catalytic levels were
observed, which revealed that the influence of the catalyst slowly declined. The main
observation was that the catalyst partially loses its activity in terms of the product distribution
along the reaction/regeneration sequence, while retaining sufficient activity in producing the
target chemical compounds.
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5.1 Introduction

Increasing prices, shortage, storage, safety, and transport of the fossil fuel feedstocks
have led to an increasing interest in the use of renewable lignocellulosic biomass resources.
Fast pyrolysis, the rapid thermal decomposition of matter in the absence of oxygen followed
by direct condensation of vapours, is an emerging and cost-effective thermo-chemical method
to convert lignocellulosic biomass into a high quantity of a liquid [197] (i.e. pyrolysis liquid,
bio-oil). However, before pyrolysis liquids can be used in replacing petroleum fuels or as a
source for chemicals, their quality needs to be improved. The use of heterogeneous catalysts
in the fast pyrolysis process itself (i.e. catalytic fast pyrolysis; CFP) can induce reactions that
cause a change in oxygen functionalities, increase the calorific value, and improve the
stability of the bio-oil. This way, the liquid product (i.e. CFP-oil) can be deoxygenated to a
greater extent and become more similar in chemical composition to current gasoline and
diesel fuels than the conventional crude bio-oil [41,42].

One of the problems in CFP of biomass, hardly discussed in the literature, is the rate
and extent of deactivation of the catalyst. Deactivation implies the physical, chemical,
thermal, and mechanical degradation of the catalyst leading to a reduced activity and
selectivity [198,199]. Various mechanisms causing catalyst deactivation are known, such as
(1) fouling, the physical adsorption of certain species on the catalyst surface that causes
blocking of pores and active sites; (2) poisoning, the change of the surface structure due to the
chemisorption of species on active sites; (3) attrition, which is the loss of catalytic material
due to physical erosion, and (4) dealumination of the zeolite Si/Al framework by hydrolysis in
the presence of acids and steam [126,198]. In catalytic pyrolysis of biomass, deactivation can
be mainly attributed to coke deposition, which blocks the pores and poisons the active sites of
zeolites [200-202]. Some degree of deactivation by deposition of contaminants (ash)
originally present in the biomass cannot be excluded either [29].

Similar to conventional FCC processes, the deactivated catalyst can be regenerated by a
high temperature oxidative treatment meant to burn the coke off the catalyst and thereby
restore its activity [126,202]. In the case of a biomass, however, the associated coke contains
more oxygen and hydrogen than coke from fossil fuels. Regeneration of the catalysts thus
yields water and COy, which for ZSM-5 and similar structured catalysts, leads to
dealumination and loss of active (acid) sites [104,132,203]. A possible solution to this
problem is a two-step regeneration method [126,203]. In a first low-temperature step (ca. 250
°C) most of the water will be released, while in a second step the temperature can be raised
(to 400-700 °C) to burn the coke [125,132]. In this way the catalyst degradation may be
limited because of the reduced exposure to an atmosphere containing steam at high
temperatures.
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A number of studies have addressed the topic of catalyst regeneration after their use in
catalytic pyrolysis of biomass. A few of these studies deal with multiple regenerations and
reuse in pyrolysis (see Table A.5.1 in the Supporting Information). Williams et al. [195]
studied the deactivation and regeneration of ZSM-5 in the upgrading of wood pyrolysis
vapours in a fluidized bed reactor (7.5 cm diameter x 100 cm high). They regenerated the
catalyst in a furnace at 550 °C in the presence of air for 8 h and found that the regeneration
decreases the catalytic activity. With the increasing number of reaction/regeneration cycles (in
total five cycles were performed), less alkene gases were produced, oxygen containing
compounds were converted less efficiently, and the carbon content of the final oil was
reduced by the production of additional coke. In addition, regeneration caused a less efficient
conversion of hydrocarbons to aromatics, which were the products of interest. After five
reaction/regeneration cycles the production of monocyclic aromatics was reduced with 50
wt.% compared to the use of the fresh catalyst. More recently, Aho et al. performed catalytic
pyrolysis of pine wood in a 102 mm long dual-fluidized bed reactor (ex situ) [132] and a 590
mm long fluidized bed reactor made of Pyrex glass (in situ) [104,125]. The zeolite catalysts
were regenerated (single reaction/regeneration cycle in each studies) batchwise in an oven
while two stages of constant temperature (250 and 450 °C) were applied. It was concluded
that some Bronsted acid sites were lost during regeneration but the surface area of the catalyst
regained. Carlson et al. [92] and Paasikallio et al. [86] studied the stability of the catalyst
during CFP. After purging their fluidised bed with N, to ensure pyrolytic conditions for the
experiment, they replaced the N, with air for single-step catalyst regeneration. In the work
carried out by Carlson et al., deposited metal impurities were detected on the catalyst;
however, the acid sites on the zeolite were not affected after 10 reaction/regeneration cycles.
Paasikallio ef al. found that a catalyst regeneration temperature of approximately 600 °C was
not high enough to remove all of the coke deposits. Increasing the temperature to about 680
°C increased the effectiveness of the coke combustion but resulted in a lower post-
regeneration specific surface area for the catalyst.

In this work, the catalytic fast pyrolysis of small pine wood particles has been studied
by experiments in a newly designed mechanically agitated bed reactor at 500 °C containing
ZSM-5-based catalyst particles mixed with sand in a weight ratio of 1:14. The intention was
to examine the effect of repeated catalyst regeneration on the product yields and composition,
as well as on the properties of the catalyst itself (coke deposition and BET surface area). Eight
cycles of catalytic pyrolysis and subsequent catalyst regeneration were carried out in total.
The performance of the catalyst was tested under realistic (harsh) conditions, such as

(1) Mechanical mixing of the catalyst/sand bed during the pyrolysis runs, which may
promote attrition and crushing of the catalyst particles;

(2) Higher catalyst regeneration temperatures of up to 600 °C;

(3) Regeneration in the presence of the pyrolysis char, leading to the accumulation of
biomass ash in the reactor bed material over the successive reaction/regeneration
cycles.
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5.2 Experimental section

5.2.1 Materials

Pine, obtained from Bemap Houtmeel B.V., Bemmel, The Netherlands, was used as
biomass feedstock in all experiments. This feedstock was sieved to obtain a fraction with
particle sizes between 1 and 2 mm. The moisture and ash content were determined to be 7.52
wt.% and 0.33 wt.% on a “as-received” basis (a.r.), respectively. The proximate analysis data,
the elemental composition and the higher heating values (in as-received and dry basis) of the
pine wood are listed in Table 5.1.

Silica sand (obtained from PTB-Compaktuna, Gent, Belgium) with a mean diameter of
250 um and a particle density of 2650 kg/m’® (compacted bulk density = 1660 kg/m’) was used
as bed material for non-catalytic experiments and blended with the catalyst in the case of the
in situ catalytic experiments.

A commercial, spray-dried heterogeneous ZSM-5-based catalyst, indicated as ‘Type A’,
was prepared and supplied by Albemarle Catalyst Company B.V. (Amsterdam, The
Netherlands). Physical and chemical properties of this catalyst can be found in Appendix A
(this appendix is confidential and can only be accessed by signing a confidentiality
agreement). Prior to the delivery, this catalyst was calcined in air at 500 °C for 1 h to decrease
the moisture content of the catalyst to below 1 wt.%.

Table 5.1. Properties of pine wood.

Proximate analysis (wz.%)

Fixed carbon (d.b.) 14.96
Volatiles (d.b.) [ASTM E872-82] 84.76
Moisture (a.r.) [ASTM E871-82] 7.52
Ash (d.b.) [ASTM E1755-01] 0.33
Ultimate analysis (d.b.) [wz.%]
C 47.10
H 5.90
O 46.40
N 0.04
S 0.06
Alkali metals (d.b.) [mg/kg]
K 346.2
Na 10.1
Mg 112.8
Ca 767.0
HHV (a.r.) [MJ/kg]* 18.29
HHV (d.b) [MJ/kg] 19.77

* Calculated by using the Milne formula [204].
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5.2.2 Experimental unit

Non-catalytic and in situ catalytic pyrolysis experiments have been carried out in a fully
controlled, continuously operated lab-scale set-up that enabled the production of bio-oil
samples (ca. 50 g/run) suitable for a full physicochemical characterization. A scheme of the
unit is shown in Fig. 5.1.

The electrically heated pyrolysis reactor vessel is built from stainless steel and has a
design similar to the usual bubbling fluidized reactors. Its bed height, inner bed diameter,
freeboard height, and freeboard diameter are 45, 7, 35, and 10 cm, respectively. A specially
designed mixer was placed inside the reactor to ensure uniform mixing of the content of the
bed. Cold model mixing and bed material discharging tests, performed prior to the
experimental work, visually revealed the well-mixing of the bed contents (catalyst and sand)
without any segregation. The rotation frequency of the mechanical mixer is adjustable via a
rotor, and with the continuous rotation of the shaft, efficient mixing of the bed material is
achieved and immediate contact of biomass particles with turbulently moving bed material
ensured.

Unlike fluidized bed reactors in which an inert gas is used to mix/fluidize the bed, the
purpose of the inert gas in this set-up is to remove the pyrolysis vapours from the reactor. The
addition of a mechanical mixer inside the reactor allows the inert gas flow rate to be lower
than the minimum fluidization velocity, thereby increasing the contact time of the pyrolysis
vapours with the catalyst, while minimizing the entrainment of the catalyst particles out of the
reactor and preventing the segregation of partly-converted char particles on top of the bed.
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Fig. 5.1. Scheme of the pyrolysis set-up. (1) biomass storage hopper; (2) hopper feeding
screw; (3) biomass feeding screw; (4) cooling jacket; (5) mechanical mixer; (6) mixer rotor;
(7) pyrolysis reactor vessel; (8) spacer; (9) valve couple for sand inlet mechanism; (10)
reactor vessel bottom valve; (11) solids (sand and char) collection vessel; (12) knock-out
vessel; (13) insulated condenser inlet line; (14) water cooled electro-static precipitator; (15)
water cooled spiral glass condenser; (16) cotton filter; and (17) gas flow indicator.
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5.2.3 Pyrolysis experiments

The pine wood (a.r.) is introduced into the reactor by a twin-screw from a sealed feed
hopper. Inert gas (N,) enters the system at three points, viz., via the feed hopper (~15 %), the
plenum chamber (preheated, ~80 %) and the top of the pyrolysis reaction vessel (~5 %). The
flow rates of both streams were precisely controlled by individual mass flow controllers. A
total inert gas flow rate of ca. 160 L h™' was applied in all experiments. A knock out vessel is
placed at the exit of the reactor to remove and collect fine particles. Pyrolysis vapours flow
into a tap water cooled liquid recovery system that consists of an electrostatic precipitator
(ESP, operated at 15 kV) and a spiral condenser (glass). The non-condensable gases (NCGs)
leave the system after passing through a cotton filter and a gas flow measurement. It was
decided to keep the experimental run time at 60 min in order to produce sufficient bio-oil for
different types of analyses as well as to reach a sufficiently high accuracy for the mass
balance determination. Moreover, a relatively long experimental run time allows the biomass
particles to be completely devolatilized at the reaction temperature. Approximately 100 g of
pine wood is fed during every run, which could be determined by measuring the mass
difference between pine in the storage hopper and in the feeding screw, before and after each
experiment. For the non-catalytic experiments, 1.5 kg pure sand was used as a reactor bed
material, while for the in situ catalytic experiments a catalyst-sand mixture of 1.5 kg
(catalyst-to-sand mass ratio of 1:14) was used. The reason for selecting a catalyst-to-sand
weight ratio of 1:14 was to maintain the weight hourly space velocity WHSV [h™'] at a value
of around 1 (see Table 5.2).

5.2.4 Collection and analysis of pyrolysis products

The products obtained from catalytic pyrolysis are divided into non-condensable gas
(NCQ), liquid products (organics and water), and carbonaceous material (coke/char).

The average NCG flow rate (®gayg; L/h) was calculated by subtracting the average inert
gas flow from the total gas flow. During the run, six gas samples were taken at intervals of 10
min by using a gastight syringe. The composition of non-condensable gases was determined
off-line using a micro-GC (Varian 490-GC) equipped with two TCD detectors and two
analytical columns. The following gaseous compounds were measured: CO, CO,, CHa, C,Hy,
C,Hs, C3Hg, C5Hg, and H,. The sum of C,Hy, C,Hg, C3Hg and CsHg will be further referred to
as Cy. For detailed information concerning the NCG yield calculations, the reader is directed
to our earlier publication [100].

Prior and subsequent to each experiment, the ESP (mgspin and mgspout), the glass
condenser (Mgcin and myou) and the cotton filter (mcrin and merou) (including their piping)
were weighed. The mass difference should be equal to the measured amount of bio-oil
produced. In non-catalytic experiments a homogeneous single phase, and in catalytic
experiments a two phase liquid (aqueous + heavy fractions) were collected in the ESP. In
order to recover the residual bio-oil fractions on the condenser walls, all related parts were
rinsed with a known amount of tetrahydrofuran (THF). By using THF, a homogeneous
(single-phase) liquid mixture was obtained. This mixture was then filtered over a 10 pm
MN640w filter (Macherey-Nagel, Diiren, Germany) and the amount of retained solids (mg)
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was excluded from the total amount of bio-oil. In order to prevent the solid losses and ensure
a constant catalyst concentration in the bed inventory, these retained solids were included in
the gross amount of bed material prior to the regeneration step. The bio-oil yield was
calculated using Eq. 5.1:

Ybiooil = [(mESP,out - rnESP,in) + (mgc,out - mgc,in) + (mcf,out - mcf,in) - mfs]
_ 100%

Mfeeq

(Eq.5.1)

The bio-oil + THF mixtures were analysed for the H,O content (Karl Fischer titration)
and their chemical composition (GCxGC/MS-FID). For detailed characterization of bio-oils, a
combination of GCxGC-FID and GCxGC-TOF-MS was used to get a high chromatographic
resolution and on the other hand maximal agreement between both chromatograms [100,180].
The GCXGC setup consisted of a Thermo Scientific TRACE GCxGC, obtained from
Interscience Belgium, and has been discussed previously [181,182]. The first column was a
RTX-1 PONA (50 m L x 0.25 mm L.D., 0.5 pm df) and the second column was a BPX-50 (2
m L x 0.15 mm LD., 0.15 pm df). The oven temperature program started at —40 °C and was
ramped up to 300 °C at a heating rate of 3 °C/min [181,182]. For GCxGC, the modulation
period was 7 s. The mass fraction of each compound is calculated using the mass fraction of
the internal standard, peak volumes obtained using the GC, and the relative (to methane)
response factors of the compounds for the FID. The response factors for a large set of typical
compounds that are present in bio-oils are determined experimentally from a set of well-
defined calibration mixtures [180]. Response factors of compounds that were not included in
the calibration mixture, and that are detected in bio-oils, were calculated using the effective
carbon number approach [205]. After the identification and quantification of the compounds
present in the bio-oils, the compounds were classified into eight different groups, namely
sugars, aldehydes, acids, furans, ketones, phenols, aromatics and others, according to their
functional groups. More details can be found in Yildiz et al. [100] (Chapter 3 in this thesis)
and Djokic et al. [180]. Every analysis was done in triplicate, and averaged data are reported
with the corresponding standard deviations.

Carbonaceous solids (CS) are the sum of char, heterogeneous coke (defined as the coke
deposited on the catalyst), and system deposits. System deposits can be defined as the
carbonaceous matter other than char in the case of the non-catalytic experiments, and an
average value of ca. 5 wt.% was obtained after having been checked a number of times. The
amount of carbonaceous solids was determined by subjecting the collected solids to L.O.I.
analysis which refers to the weight loss of a sample after ignition and combustion in air which
is carried out in a muffle furnace (Carbolite AAF 1100) at 600 °C for 6 h. Solids are
composed of the contents of the solids collection vessel (char + bed material) and knock-out
vessel, and solid filtrate (washed with THF) from bio-oil filtration. The yield of carbonaceous
solids was calculated using Eq. 5.2:

100%
Yes = (msolids,i - msolids,f) ' m

(Eq.5.2)

feed
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The BET surface area of spent and regenerated catalysts was determined by a Gemini V
surface area analyser from Micromeritics.

The elemental composition of char samples were determined by a Thermo Scientific
Flash 2000 Organic Elemental Analyser. The elemental distribution for the pyrolysis products
can be found in Table A.5.2 in the Supporting Information.

The Dulong equation (Eq. 5.3) for a semi-quantitatively calculation of the higher
heating value’s (HHV) of fuels or fuel resources such as coal, biomass, pyrolysis oil, and
biodiesel from the elemental weight composition, was used to calculate the HHV’s of bio-oil
samples, where C, H, and O are carbon, hydrogen, and oxygen in weight percentages,
respectively [177]:

HHV(MJ - kg™1) = (337C + 1442(H — 0/8))/1000 (Eq.5.3)

5.2.5 Successive regeneration of the catalyst

The effect of catalyst regeneration on its activity was investigated by comparing the
product yields and the compositions of bio-oil and non-condensable gases. After each
experiment, the bed material (char, sand, and the spent catalyst mixture) was removed from
the reactor. Small amounts of char and spent catalyst were taken for their compositional
analyses, and the rest was subjected to a regeneration procedure in a muffle furnace based on
the procedure proposed by Aho et al. [125] Here the temperature was increased from ambient
to 250 °C with a ramp rate of 4.5 °C min™', and kept isothermal at 250 °C for 40 min. Then
the temperature was raised to 600 °C with a temperature increase of 5 °C min~', and kept at
600 °C for 5 h. The reason to select this relatively high catalyst regeneration temperature was
to maximize the removal of the heterogeneous coke deposited on the catalyst surface. The
application of an even higher regeneration temperature was considered undesirable because of
the risk of the surface area loss of the catalyst. The temperature was then decreased to 105 °C
(instead of ambient temperature) to prevent moisture absorption. Finally the catalyst—sand
mixture, regenerated in this way, was stored in the oven at 105 °C until the next experiment.
Subsequently, it was fed back to the pyrolysis reactor and the experiment was repeated. In
total, eight reaction/regeneration cycles were carried out.
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5.3 Results and discussion

5.3.1 Mass balance closure and reproducibility

The reproducibility of the setup was tested by performing a number of non-catalytic and
in situ catalytic benchmark experiments under identical process conditions. These operating
conditions are listed in Table 5.2.

Table 5.2. Operating conditions non-catalytic and catalytic experiments.

tun [Min] 60
Treactor [OC] 500
U [m/s] € 0.012
U/Up¢ [-] © 0.22
(U/Unotal d 0.35

Non-catalytic® Catalytic®
Dpine [g/h] 116.5 111.0
O, [L/h] 164.6 158.4
Mped material [kg] 1.5 1.5
Ratio of catalyst/sand in mixture

- 1:14
[wt/wi]
Mped material/mpine [wt/wt] ¢ 12.9 13.5
WHSV [h']* - 0.9
Final char hold-up [vol.%] © 12.9 11.3
Tyapours, 1N the bed material [s] 10.2 10.6
Tvapours, Teactor freeboard [s] © 32.8 34.9
Tyapours, total 43.0 45.5
Explanations:

* Averages of five non-catalytic experiments (NC) under identical process parameters.

" Averages of three in situ catalytic experiments (R0) under identical process parameters.

¢ On the basis of nitrogen flow only (pyrolysis vapour free stream).

4 On the basis of combined flow rate of nitrogen + pyrolysis vapours (non-catalytic case).

¢ After t,,=60 min.

"WHSV (weight hourly space velocity) = mass flow rate of feed [g/h] / mass of catalyst [g].
¢ The residence time of hot vapours after they leave the bed, until they reach the condenser
inlet.
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The total mass balance closures calculated for the experiments varied between 92.1
wt.% and 97.8 wt.% for the non-catalytic and 93.1 wz.% and 99.2 wt.% for the in situ catalytic
experiments, respectively. Small but inevitable product losses, which are inherently related to
this scale of operation, are the reason that the mass balances could not be closed completely.
The average product yields, on an “as-received” feed basis, are reported in Fig. 5.2, and were
within the range of what has been previously reported in the literature [77]. In this figure, the
error bars represent standard deviations in absolute %’s for all experiments. Variations were
mainly due to the handling, collection and weighing of the products. The scatter in the product
yields is always less than 5%, indicating reproducibility sufficient for observing trends in all
similar experiments.
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Fig. 5.2. Yields of organics, water, carbonaceous solids (CS), non-condensable gases (NCG),
and total yields obtained from five non-catalytic and three in situ catalytic fast pyrolysis with
fresh catalyst experiments of pine wood at a Treactor Of 500 °C. Standard deviations are
represented in absolute %.

5.3.2 Effect of the catalyst and vapour residence time on pyrolysis product
yields

To maximize bio-oil production in biomass fast pyrolysis, vapour residence times less
than 1 s are considered essential [206]. However, in the present set-up, vapours reside longer
in the hot zones due to the specific design of the reactor. Secondary cracking of the primary
products may occur to a significant extent which will increase the gas yields, reduce the liquid
yield, and affect the bio-oil properties as well [207]. At the same time however, these higher
vapour phase residence times could promote the secondary vapour-phase cracking reactions
[86]. Even though the composition of the pyrolysis oil may be dependent on the vapour
residence time to a certain extent, in order to disclose the quality of our liquid product, we
compared the chemical composition of a standard non-catalytic bio-oil from this study’s setup
with a reference bio-oil obtained from the continuous fast pyrolysis plant (with 150-200 kg/h
of feed intake) of Biomass Technology Group, BTG (Enschede, The Netherlands). These
results revealed that, although the produced quantity of our liquid product was lower, the
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chemical composition of it is similar to that produced in this continuous fast pyrolysis pilot
plant (see Fig. A.5.1 in the Supporting Information).

In the literature, catalytic fast pyrolysis mechanisms are presented, describing the
reactions that take place when fast pyrolysis of biomass is carried out in the presence of
zeolites [70,92]. Generally, the organic compounds formed in non-catalytic fast pyrolysis
undergo an additional conversion to more desired products in the presence of a zeolite. This
extra transformation often includes dehydration, decarbonylation, and decarboxylation
reactions, leading to an increased production of H,O, CO, and CO,, of which the last two are
the dominating species in the NCGs. During the catalysed reactions, part of the intermediate
compounds is also converted into coke [85] which is mainly deposited on the catalyst. All of
the carbon-containing by-products of the catalysed reactions (i.e., CO, CO,, and coke) are
formed at the expense of the compounds in the organic liquid fraction. These considerations
are in line with our observations (Fig. 5.2) in which the product yield distribution was
considerably influenced by the presence of the catalyst. Compared to the non-catalytic case, a
decrease of almost 13 wt.% in the organics yield was seen in the in situ catalytic case, which
is associated with an increase in water by almost 5 wt.%, in carbonaceous solids by more than
6 wt.%, and in non-condensable gases by around 4 wt.%. The difference in yields of
carbonaceous solids between non-catalytic and in situ catalytic modes can be explained by
coke deposition on the catalyst since the char yields in both cases are assumed to be the same.

5.3.3 The effect of successive catalyst regeneration on the product yields

The effect of successive catalyst regeneration was investigated in relation to the mass
yields for organics, water, carbonaceous solids, and non-condensable gases as a function of
the number of reaction/regeneration cycles (Fig. 5.3). The values obtained from three in situ
catalytic experiments with fresh catalyst were averaged and used as reference case (denoted as
“R0”). The run with bed materials obtained from the first experiments after regeneration is
denoted (R1), with subsequent cycles indicated by R2 to RS8. In order to limit experimental
errors, two experiments in parallel batches were carried out for every regeneration cycle, and
the values were averaged. The experimental conditions and procedures described in sections
5.2.3 and 5.2.4 were also applied for all these tests with regenerated catalysts.

Trendlines in the graphs show clear changes for all products. In comparison with the
non-catalytic experiments, a remarkable decrease in the organics yield is observed, viz. from
33.2 wt.% to 20.4 wt.% for RO (fresh catalyst), and further down to 15.8 wz.% for R1 (catalyst
one time regenerated). The yield of organics slightly oscillates around 15 wz.% from the
second to the sixth regeneration cycle and then starts to increase for the seventh and eighth
regenerations to 17.7 and 21.8 wt.%, respectively. This increase in liquid yields in the last
reaction/regeneration cycles indicates that with the decreasing activity of the catalyst (see
section 5.3.6), the production of a liquid similar to non-catalysed bio-oil is favoured. This
results in the convergence of the yields to the non-catalytic values after a certain number of
reaction/regeneration cycles. On the contrary, in the presence of fresh ZSM-5-based catalyst
(RO) the water yield increases from the non-catalytic level of 18.7 wt.% to 23.4 wt.% as
discussed before in Section 5.3.2. The increase in water yields over the zeolites is expected as
a result of more intense deoxygenation of the pyrolysis vapours [132]. When the number of
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catalyst regenerations is increased, the water yield becomes slightly higher until the sixth
regeneration (R6) to 27.2 wt.% and then starts to decrease again in the seventh and eighth
regenerations to 26.1 and 22.7 wt.%, respectively. These opposite trends of the organics and
water yields together indicate that the deoxygenation via H,O production passes through a
maximum during successive catalyst regeneration, returning at the end (after six cycles) in the
direction of the non-catalytic case.

The non-condensable gas yield for the non-catalytic experiments is 25.7 wt.% and
increases to 29.6 wt.% after using fresh catalysts. The highest NCG yield (33.2 wt.%) is found
after three reaction/regeneration cycles while after this point the yields starts to decrease
gradually to a level of 27.7 wt.% after the eighth regeneration, which is coming close to the
value for the non-catalytic experiments.
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Fig. 5.3. Influence of successive catalyst regeneration (R1 to RS, ¢) on the product yields of pine wood pyrolysis at 500 °C. Results for the non-
catalytic (NC, m) and catalytic pyrolysis with fresh catalyst (R0, ®) are included for comparison.
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The individual yields of char and the system deposits were assumed to be ca. 12 wt.%
and ca. 5 wt.%, respectively for all the experiments because each experiment was carried out
under identical process conditions. This has been checked a number of times. Besides, the
residence time of the pine wood particles in the bed (t.,) was always long enough for a
complete devolatilization. Hence, the differences in the yields of carbonaceous solids must
represent the changes in the coke on catalyst. Fig. 5.4 shows those changes in the coke yield
as a function of the reaction/regeneration cycles. Obviously the catalyst pores are blocked by
coke (and mineral) deposition, thereby limiting the access to the active surface area of the
catalyst. The fresh catalyst gives a coke yield of 6.2 wt.%. The coke yield then steadily
decreases to a level of 2.2 wt.% after the eighth regeneration. Assuming that the regeneration
procedure is efficient in burning off all the coke, it is evident that coke is always formed again
after each regeneration step. If the coke formation is taken as an indication of the catalyst
activity, the steady decrease in coke on catalyst over the eight reaction/regeneration cycles
would point at a gradually decreasing catalyst activity, which is in line with the observations
regarding the product yields (Fig. 5.3).
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Fig. 5.4. Changes in the coke-on-catalyst (heterogeneous coke) yield along the successive
catalyst regeneration cycles. R1 to R8, #: experiments with pine wood at 500 °C. RO, e: in
situ catalytic fast pyrolysis with fresh catalyst.

5.3.4 The effect of successive catalyst regeneration on the deoxygenation
of pyrolysis vapours and the energy density of bio-oils

The main goal of catalytic pyrolysis is to upgrade the highly oxygenated pyrolysis
vapours by removal of the oxygen, and the cracking/rearrangement of molecules, in order to
produce a liquid product rich in alkanes and aromatics [195]. The elemental distribution of the
various pyrolysis products obtained after all the reaction/regeneration cycles (R1 to R8), as
well as those for the non-catalytic (NC) and fresh catalyst cases (R0), were collected in Table
A.5.2 of the Supporting Information. CO, CO,, and H,O are the primary products of bio-oil
oxygen removal in zeolite catalytic upgrading [85], and their yields are given in Table 5.3.
Being the main components of the non-condensable gases, CO and CO, yields exhibited a
trend similar to one observed for the NCG yields (see Fig. 5.3). The non-catalytic CO yield of
13.0 wt.% increased to 16.2 wt.% for pyrolysis with a fresh catalyst, and reached a maximum
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of 18.7 wt.% for pyrolysis after the first regeneration, before dropping to a value of 14.9 wt.%
for pyrolysis after the eighth regeneration. Despite some minor differences, the CO, yields
overall followed the same trend. In accordance with the literature, these results indeed
confirmed that decarbonylation and decarboxylation, together with dehydration (Fig. 5.3), are
the main mechanisms for bio-oil deoxygenation in catalytic pyrolysis with zeolites.

Table 5.3. Yields of CO, CO,, and H,O in wt.% on feed basis (a.r.), elemental composition of
bio-oil (Wt.% in dry bio-oil basis), and the bio-oil heating value (wz.% in dry bio-oil basis)
listed for all successive reaction/regeneration cycles (RO to R8) and the non-catalytic case®

(NC).

HHV
CcO CO, H,O C H o 1

MJkg")

NC 13.0+£0.8 10.0+0.7 18.7+1.0 60.1 5.8 34.1 22.5

RO 162+1.7 10.1+1.1 234+24 70.1 5.7 24.2 27.4

R1 18.7+0.8 11.4+04 251409 75.1 5.6 19.3 29.9

R2 179+12 10.7+0.8 25.1+3.3 77.3 53 17.4 30.5

R3 185+1.2 11.3+0.6 26.0+2.6 76.4 5.1 18.5 29.8

R4 17115 11.1+0.8 264+43 75.6 5.2 19.2 29.5

R5 169+1.6 11.7+0.1 27.0+2.8 77.2 4.8 18.0 29.6

R6 16022 106+1.3 272+1.5 76.4 4.4 19.3 28.5

R7 15.8+£0.5 10.0+0.1 26.1+0.1 74.4 5.0 20.6 28.6

R8 149+03 9.7+£0.5 22.7+£0.6 66.4 5.5 28.2 25.2

* Experiments with pine wood at 500 °C.

Table 5.3, further shows that the elemental yields (wz.% in dry bio-oil basis) of carbon
and oxygen in bio-oil show opposite trends with respect to each other. The bio-oil carbon
content passes through a maximum, while the oxygen content passed through a minimum
with an increasing number of reaction/regeneration cycles. The maximum carbon content of
the bio-oil was 77.3 wt.% after two regeneration cycles (R2), and the lowest oxygen content
was observed in R2 with a value of 17.4 wt.%. The hydrogen contents in the produced bio-
oils were only slightly affected by the number of catalyst regeneration cycles. On average the
hydrogen content after every regeneration decreased with 10-20 % in comparison to the non-
catalytic case (5.8 wt.%), and a minimum was observed after five to six regenerations. As an
illustration of the maximal catalytic effect one could compare the chemical formula that can
be derived from the elemental composition listed in Table 5.3, for the non-catalytic pyrolysis
(NC) with the one for catalytic pyrolysis after five regenerations (RS5). It changes from
CH;.160043 to CHg750¢.17, respectively. Apparently, the catalyst is effective in rejecting
oxygen from the organics phase at the expense of hydrogen. The change in elemental
composition can also be clearly seen in the heating value of the product oil (dry bio-oil basis),
which increased from 22.5 MIJ kgf1 for the non-catalytic case (NC) to a value of
approximately 30 MJ kg™’ after 1-5 regenerations. Despite this remarkable increase, the
energy density of the produced bio-oil was still low compared to the energy density of
conventional fuels [30]. In attempt to summarize the observations collected in Table 5.3, one
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could say that the catalyst activity increases over the first two to three reaction/regeneration
cycles, and then maintains it activity over a number of following cycles, but finally loses part
of its activity over the last two cycles R7 and R8. However, even after eight cycles, some
catalyst activity was still clearly observable from the increased carbon monoxide and water
production, the higher carbon and the lower oxygen contents of the product oil organics, and
the corresponding rise in heating value.

Fig. 5.5 shows the changes in COy yields (sum of CO and CO, yields), the CO/CO,
ratio, and the changes in the yields of H,, CH4, and C,- as a function of the increasing number
of catalyst regenerations.
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Fig. 5.5. Changes in (a) COy yield (the sum of CO and CO,), (b) CO/CO; ratio, (c) CHy yield,
(d) Cy4 yield (sum of C,Hy4, C;Hg, C5Hg, and CsHg), and (e) H; yield, obtained after successive
reaction/regeneration cycles (R1 to R8, 4). The result of non-catalytic (NC, m) and catalytic
fast pyrolysis with fresh catalyst (RO, ®) are included for comparison. Catalytic pyrolysis
experiments of pine wood at 500 °C.
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The trend of the COy yield shown in Fig. 5.5a, was similar to the one for the NCG yield
shown in Fig. 5.3. It showed the highest level of approximately 30 wz.% in the beginning and
then a gradual decrease to a value of 24.6 wt.%, which is quite close the non-catalytic value of
22.9 wt.%.

The CO/CO; ratio of the product gases is assumed to be a good measure to monitor the
catalytic activity [76]. In Fig. 5.5b, the CO/CO; ratio was shown to increase from a value of
1.3 for non-catalytic pyrolysis to 1.6 for pyrolysis in the presence of the fresh catalyst (RO).
The trend was then slightly downward, viz., to a value of about 1.54 after eight cycles.
Apparently, the presence of catalyst favours the decarbonylation mechanism over the
decarboxylation mechanism during all the successive reaction/regeneration cycles.
Remarkable was the single oscillation in CO/CO; between a maximum value of 1.68 and a
minimum value of 1.50.

The CHy yields decreased from a non-catalytic value of 1.64 wt.% to the value of 1.32
wt.% in RO when the catalyst was added (Fig. 5.5¢). Then, in a slightly fluctuating way, it
steadily increased to the value of 1.60 wt.% after eight regenerations (R8), close to the value
for the non-catalytic pyrolysis. On the contrary, the C,: yield (C,H4 was being the most
abundant hydrocarbon) jumped to a peak value of 1.02 wt.% in R1 and then started to
decrease steadily to a value of 0.54 wt.% in R8 (Fig. 5.5d). This could be due to the gradual
increase of biomass ash along the reaction/regeneration sequence. The presence of ash likely
promoted alkane production at the expense of alkenes. The higher level of C,. yield in
catalytic pyrolysis was likely caused by secondary cracking of heavier molecules to lower
molecular weight hydrocarbons.

Fig. 5.5¢ shows that on a weight basis H, seems to be a nondominant by-product both in
non-catalytic and catalytic pyrolysis. However, it is interesting to note that in the presence of
the ZSM-5-based zeolite catalyst, the yield of H, is decreased by half (from 0.1 wz.% to an
average of 0.05 wt.%). During the first four reaction/regeneration cycles, its value remained
unchanged after which it slowly increased to the non-catalytic value. Apparently, in catalytic
pyrolysis H, is consumed, which may contribute to the formation of hydrocarbons
(dehydration reactions). While overlooking the results collected in Fig. 5.5, it seems that the
trends of the yields of individual non-condensable gas compounds are a good indicator of the
catalyst deactivation, and it may be worthwhile to investigate such correlations in future
investigations. Regarding the reduced hydrogen and methane yields observed for catalytic
pyrolysis, this cannot be explained from a possible occurrence of the water gas shift reaction
and/or methane reforming in the vapour phase. Methane is stable under the applied
conditions, while the water gas shift reaction (in the presence of biomass minerals and the
ZSM-5-based zeolite catalyst) would have resulted in an increase of hydrogen production
while the carbon monoxide yield would have expected to decrease, which is not in line with
the observations. Although the reasons for the reduced hydrogen and methane production
remain unclear in this stage of research, it definitely is beneficial if all, or part of the hydrogen
lost from the non-condensable gases is preserved in the produced bio-oil.
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5.3.5 The effect of successive catalyst regeneration on the bio-oil quality

Fig. 5.6 shows the yield variations of the measured compounds using the GCxGC/MS-
FID. The latter are being classified according to their functional group, and as a function of
the number of catalyst regeneration cycles. The compounds were grouped as sugars,
aldehydes, acids, furans, ketones, phenols, aromatics and others (unclassified oxygenates).
Table A.5.3 (in the Supporting Information) shows the details of the most prevalent individual
compounds detected via GCxGC-TOF-MS analysis and quantified by GCxGC/MS-FID. For
the quantification procedure, the reader is referred to the paper of Djokic ef al. [180]. It should
be taken into account that the yields shown in Fig. 5.6 and Table A.5.3 were normalized and
expressed relative to the as-received feed basis.
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Fig. 5.6. Results of pine wood experiments at 500 °C. Changes in bio-oil composition for
successive reaction/regeneration cycles (R1 to RS8). Bio-oil constituents were grouped
according to their chemical functional groups (GCxGC/MS-FID detectable only). NC refers
to non-catalytic pyrolysis as a reference case. R0 indicates catalytic fast pyrolysis with fresh
catalyst. The yields are shown in wr.% on feed basis (a.r.). Error bars represent standard
deviations.
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Fig. 5.6. continued.

In bio-oil from non-catalytic pine wood pyrolysis, sugars constitute a high portion, and
a mass fraction percentage of approximately 3.8 wt.% was found by GCxGC/MS analysis.
The most abundant sugar compound was levoglucosan with more than 3 wt.% (Table A.5.3 in
the Supporting Information). In the presence of fresh catalyst, the amount of sugars was
significantly reduced, and levoglucosan could not be observed anymore. This suggests that
the amount of catalyst in the reactor bed is enough to retain its catalytic activity throughout
the entire experimental run time. As the number of reaction/regeneration cycles increased, the
quantity of sugars in bio-oil steadily rose again but without reaching the original level of the
non-catalytic case. Although clearly present in the oil from non-catalytic pyrolysis, aldehydes
(particularly hydroxyacetaldehyde) were completely undetectable when using fresh catalyst,
as well as after any of the subsequent reaction/regeneration cycles. The quantity of detectable
acids decreased during pyrolysis in the presence of a fresh catalyst (R0O) by more than a factor
2. However, this effect largely disappeared again after repeated regeneration. Obviously
acetic acid, the main detectable compound, was quite stable under the applied conditions. As
concluded already in the previous subsection (increased CO/CO, ratio in the non-condensable
gas), apparently the decarbonylation of particularly aldehyde functions is easier than the
decarboxylation of acids.
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Fig. 2.5 (can be found in Chapter 2 in this thesis) shows the reaction chemistry for the
catalytic fast pyrolysis of biomass over a solid acid catalyst. In pyrolysis, furans are produced
from the dehydration of hemicellulose as well as by acid catalysed dehydration,
decarbonylation, and decarboxylation of anhydrosugars. Produced furans are then converted
to hydrocarbons and coke. Just like unsaturated compounds, furans produce large amounts of
coke, which rapidly deactivates the zeolites [48].The reason for the reduced levels of furans in
Fig. 5.6 was that most of the furans are converted to hydrocarbons to form monoaromatic
hydrocarbons, olefins, and coke. The quantity of ketones decreased by half in catalytic
pyrolysis with the fresh catalyst (R0). After the second regeneration, however, ketones started
to increase and stayed roughly constant along the subsequent regeneration cycles but always
at a level below that of non-catalytic pyrolysis. While almost no aldehydes and sugars (and
only minor amounts of ketones) were present in bio-oil obtained when using fresh catalyst,
sugars and ketones increased notably after the catalyst had been regenerated. Although the
literature suggests [142,208] that this would lead to an increased oxygen content and a
reduced stability, Table 5.3 shows that the oxygen content of the produced bio-oil stays at a
low level during many of the successive reaction/regeneration cycles.

Phenols are the result of a competition between their formation from lignin and their
conversion to monoaromatic compounds (MAHs). They are supposed to originate from lignin
depolymerisation mainly. In the presence of acidic zeolites, phenols yield MAHs by (acid
catalysed) dehydration, decarbonylation, and decarboxylation reactions. Besides, a
considerable amount of phenols is lost due to coke formation (Fig. 2.5, in Chapter 2). Hence,
the performance of an acidic zeolite catalyst is directly related to the conversion rate of
phenols to MAHs and coke. In Fig. 5.6, a fluctuating trend around 2 wt.% is observed until
R6. In R7 and R8, the amount phenols increased remarkably up to 2.5 wt.% and 3.2 wt.%,
respectively, the last value being even higher than for the non-catalytic pyrolysis case. All this
shows that, as a consequence of increasing catalyst deactivation, the formation of phenols is
gradually getting dominant over their conversion to monoaromatics.

In the non-catalytic bio-oil no aromatics were detected. In the presence of the catalyst,
aromatics production was favoured but the amount was not consistently affected by the
number of catalyst regenerations. Even in the last cycle (RS), similar quantities of aromatics
were produced if compared to pyrolysis with the fresh catalyst. This shows that the catalyst
remained active in terms of aromatics production. In the case of acidic zeolites such as ZSM-
5, some of the heavy oligomers are cracked to light organics (mainly oxygenated), which may
then deposit on the catalyst surface and act as coke precursors [209]. Indeed, the major
competing reaction to the formation of aromatics is the coke formation inside the zeolite
particles, leading eventually to catalyst deactivation. In order to overcome this,
fresh/regenerated catalyst would need to be fed continuously to the pyrolysis reactor, while
spent catalyst is removed and regenerated in a separate vessel [92].

Other compounds detectable in the bio-oil were the unclassified ones, of which 1-
hydroxy-2-propanone was the most abundant one. The yield of these compounds dropped by
almost 70 % when going from the original non-catalytic case to the one of the fresh catalyst,
and then increased again to the non-catalytic level over all the subsequent
reaction/regeneration cycles.
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Although the effect varies for the different detectable compound groups, the general
picture was that the catalyst activity is adversely influenced by the successive
reaction/regeneration cycles. Starting from RO (fresh catalyst), increasingly more acids,
ketones, sugars, and unclassified oxygenates (others) were produced. Depending of course on
what had happened to all the GC non-detectable compounds, this would cause the bio-oil to
become ever more acidic, less stable, and less well deoxygenated when using a regenerated
catalyst. It is obvious that repeated regeneration pushes the yields (always on biomass feed
basis) of the various chemical compound groups back in the direction of the values of the
non-catalytic bio-oil, with the exception of the phenols and aromatics. The latter are
considered to be the compounds with the highest economic value and were still obtained in
significant yields after eight regenerations. Clearly, the catalyst was not entirely deactivated
and remains active in promoting the cracking of lignin and the subsequent formation of
aromatics. Whether or not this would mean that the liquid product after eight
reaction/regeneration cycles has, in every respect, a “better” quality than the original, non-
catalytic bio-oil depends on its intended utilization and should be the subject of further
research.

5.3.6 The effect of successive catalyst regeneration on the surface area of
the catalyst
BET surface area analysis has been carried out for spent catalyst/sand mixtures and

regenerated catalyst samples because the possible loss of surface area could be an indication
of accumulated coke and tar inside the pores. The results are shown in Fig. 5.7.
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Fig. 5.7. Normalized BET surface area values of ZSM-5-based catalyst for successive
reaction/regeneration cycles (R1 to R8, ) resulting from experiments with pine wood at 500
°C. The data point for in situ catalytic fast pyrolysis with fresh catalyst (R0, @) is included for
a comparison.

117



The procedures and conditions applied during the regeneration play a vital role in the
performance of the catalyst along the regeneration sequence. Although it was not possible to
regain the surface area entirely, a fair retention of surface area was obtained in the first three
to five regenerations. However, during the last few cycles the surface area appeared to be
reduced drastically. With some fluctuations along the regeneration sequence (a declining
trend), the surface area recovery decreased to 37 % in R8. Hence, it can be concluded that
successive catalyst regeneration causes a significant loss of the catalyst surface area, which
causes partial deactivation. Although the catalyst seems regenerable to a certain extent, and
the regeneration procedure was successful for at least a number of cycles, eventually the BET
surface area collapses due to an accumulative and permanent coke/ash deposition on the
catalyst.

5.4 Conclusions

Non-catalytic and in situ catalytic pyrolysis of pine wood at 500 °C have been examined
in a mechanically stirred sand bed reactor to observe the effects of both catalysis and repeated
catalyst regeneration, on the pyrolysis products yields and quality. For catalytic pyrolysis,
fresh and regenerated ZSM-5-based catalyst particles were mixed with the sand in ratios of
about 1:14. After each catalytic pyrolysis experiment, the catalyst was regenerated in air by a
programmed temperature procedure reaching up to 600 °C. In total, eight
reaction/regeneration cycles were carried out to derive the change in catalyst activity
(deactivation) over the increasing number of cycles. The accuracy of the measurements was
shown to be high enough for determining clear trends in the yields of the gaseous, liquid, and
solid products.

Regarding the yields, it was observed that the values for the produced water,
carbonaceous solids, and non-condensable gases in catalytic pyrolysis are all well above (20
to 30 % on the average) the values for the non-catalytic case. However the organics liquid
yield is drastically reduced, roughly by a factor two. While looking at the yield trends as a
function of the number of reaction/regeneration cycles, they pass through a flat minimum
(organics liquid) or maximum (water and non-condensable gases), however, with the
exception of the carbonaceous solids whose yield shows a straight, slightly increasing trend.
Apparently the catalyst is more active during the first two cycles but clearly loses its activity
in the last few cycles. Then, the catalyst regeneration becomes much less efficient, and the
yields tend to return to the values of the non-catalytic pyrolysis.

All this was confirmed by the observed yields of the non-condensable gases over the
successive reaction/regeneration cycles. Methane and hydrogen productions were clearly
suppressed in catalytic pyrolysis, while the formation of carbon monoxide and small
hydrocarbons (C,:) was promoted. On a mole basis, ca. 90 % of the non-condensable gas
consists of carbon monoxide and carbon dioxide. But the course of the methane yield in
particular, as a function of the number of reaction/regeneration cycles, seems to be a good
indicator of the decreasing catalyst activity (straight increasing trend line, back to the non-
catalytic value).
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More indications of the catalyst activity were found in the results of the bio-oil GC/MS
analysis. The most pronounced effect of catalysis is in the disappearance of sugars and
aldehydes. For most of the detectable compounds (sugars, acids, ketones, unclassified
oxygenates), values decrease initially in the first few reaction/regeneration cycles but then
climb again to the non-catalytic values. Aromatics (not detected in the case of non-catalytic
pyrolysis!) are being produced over the entire series of reaction/regeneration cycles, showing
that the catalyst maintains its activity with respect to these, possibly valuable compounds.

The catalyst activity was further explored by BET surface analysis which indeed
revealed a decrease in the surface area over the last four reaction/regeneration cycles. The
final fraction left is just 37 % of the original BET surface area. In agreement with this reduced
catalyst activity potential seems to be the measured coke-on-catalyst, which decreases from 6
to 2 wt.% of the biomass feed.

It finally appeared that the energy lost in the non-condensable gases and carbonaceous
solids (by-products) is significant. While in the non-catalytic pyrolysis case 58 % of the
energy was retained in the bio-oil, this was reduced to around 45-48 % in the worst cases of
catalytic pyrolysis, viz., after 1-4 catalyst regenerations.

Although multiple, full regeneration of the ZSM-5-based zeolite catalyst appeared
impossible, its activity with respect to the production of aromatics and phenols was largely
maintained over a series of eight reaction/regeneration cycles. Although beneficial effects of
catalysis were observed, obviously the conditions for catalytic pyrolysis were suboptimal.
New catalyst formulations, vapour phase treatment instead of in situ catalysis (ex situ
processing mode), improved catalyst regeneration procedures, application of other
temperatures, and optimization of space velocities are all possible strategies to further
improve the result of catalytic fast pyrolysis of biomass.

119



120



Chapter 6

Effect of biomass ash
In catalytic fast pyrolysis of pine wood

Abstract

Fast pyrolysis experiments of pine wood have bemfopmed in a continuously operated
mechanically stirred bed reactor at 500 °C. The&§ of the pine wood ash were studied by
comparing non-catalytic and catalytic experimentsiig a ZSM-5 based catalyst) with their
ash-added counterparts. To show the case of asimadated from the biomass feeding, the
results of catalytic fast pyrolysis obtained aftaght reaction/catalyst regeneration cycles
were included as well. The objective was to distisiy between the ash-catalyst interactions
and the catalyst deactivation. The latter may besea by thermo-mechanical, chemical
and/or structural changes in the catalyst; suchpassoning, fouling, dealumination, and
attrition, as well as by coke deposition. Ash coricgions up to ca. 3 wt.% relative to the
amount of pine wood fed, and ca. 0.002 wt.% redatty the amount of bed material, were
found to be sufficient to change the distributiord dhe composition of pyrolysis products.
The addition of ash to the catalytic fast pyrolys&used a reduction in the yields of both the
organics and coke by 2 wt.% (on feed basis), wihiteeases of 1 wt.% and 4 wt.% in the
water and non-condensable gases were observedatesgly. The total yield of CO plus €O
was boosted by more than 10 %, while the, @@duction (decarboxylation reactions) was
favoured clearly. Moreover, the presence of addgu-suppressed the conversion of sugars
and acids-these were more pronounced in the case of accueditdh- as well as of the
phenols. The catalyst deactivation during the resx¢tegeneration cycles is not only related
to the presence of ash but also to changes inttbetare and composition of the catalyst. To
overcome the drawbacks of biomass ash in catalgst pyrolysis, either the biomass
feedstock has to be leached (ash removal) befarg litroduced to the process, or the char
(which contains a vast majority of the biomass dsngy to be physically removed from the
catalyst before the regeneration step.

Published as:

Yildiz, G., Ronsse, F., Venderbosch, R., van DiRerKersten, S.R.A., and Prins, W. (2015) Efféct o
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6.1 Introduction

Lignocellulosic biomass is an abundantly availablnewable resource of organic
carbon and can be transformed into energy-densnative liquid fuels through fast
pyrolysis. Fast pyrolysis is the thermal decompasiof the natural polymeric constituents of
biomass in an oxygen-free atmosphere at tempesatuoeind 500 °C. At optimal conditions,
including high heating rates of the biomass patickhort vapour residence times and fast
condensation of pyrolysis vapours, high yields yfopysis liquid (usually in the range of 60
to 70wt.%, dry-feed basis) can be achieved.

However, some adverse properties of pyrolysis diglimit its use in chemicals
production and fuel applications. These includehigh water content (15-30 %), oxygen
content (35—4@t.%), corrosiveness (pH of 2-3), relatively low hegtivalue compared to
fossil fuels ¢a. 17 MJ/kg), poor volatility, and high viscosity. k&, the quality of pyrolysis
liquids must be improved before they can be comedlas a liquid feed in the production of
heat, electricity, transportation fuels and cheisi§29]. Catalytic fast pyrolysis (CFP), which
is based on the use of heterogeneous catalydis ifast pyrolysis process, intends to improve
the quality of the liquid by steering the vapourapé reactions with respect to rates and
selectivity.

In a CFP process, the inert heat transfer mateidpartially) replaced by a solid
catalyst. The presence of catalyst favours oxygemoral via decarbonylation (CO rejection),
decarboxylation (C@rejection) and dehydration ¢§B formation) reactions. The ultimate
composition of the produced liquids is influencedféctors such as the type of the biomass
feedstock, the type of the catalyst (including psize, acidity, nature of active sites and the
presence of metals), optimal operating temperabfirhe catalyst, and the catalyst-to-feed
ratio. In addition, the interaction between theatibés generated by fast pyrolysis and the bed
contents €.g. catalyst, char, and ash) is an important featd@irdn@ pyrolysis reactor. More
specifically, this interaction refers to reactioof reactive species present in the volatiles
(including radicals generated by thermal crackingjh the char/ash particles [210].
Obviously, the selected catalyst should play al vitée in suppressing the production of
undesirable oxygenated compounds (acids, sugahgapmmatic hydrocarbonstc) while
promoting the production of value-added compounuserfolics, alkanes, mono-aromatic
hydrocarbonsetc). Regarding the corresponding removal of oxydlea preferred route from
both, an energy-yield point of view and the destranaintain a relatively high H/C ratio,
must be decarboxylation [100,147].

One of the problems encountered in CFP is the odicn of the catalyst which
implies the physical, chemical, thermal, and meatsmegradation of the catalyst leading to
a reduced activity and selectivity [198]. In CFRadtivation mainly occurs by the deposition
of coke and metals on the catalyst which can potkenactive sites of zeolites or block the
pores [200]. Accumulation of ash on or inside tlaalyst could also be responsible for
catalyst deactivation, as it is reported that bissnariginated alkali and alkaline earth metals
(AAEMSs) can poison the catalyst [29]. Like in contienal FCC (fluid catalytic cracking)
processing, the catalysts deactivated by coke eanebsed in a CFP process after being
regenerated. In FCC regeneration, the catalysuligested to high temperature oxidative
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treatment to burn the coke off from the catalyst #mereby (partially) restore its activity
[126]. In biomass CFP however, the coke-on-catatgsttains more oxygen and hydrogen
than the coke-on-catalyst obtained in FCC procgsdtegeneration of the catalysts thus
yields water, apart from only GQCO+CQ), which for ZSM-5 and similar structured
catalysts could lead to dealumination, and thus tdsctive (acid) sites [200,203].

All biomass materials contain ash-forming mineratrients in the form of cations
which are bound onto the organic matrix of biomatssarboxylic and/or phenolic groups, or
in the form of precipitates, such as a salt [2T]jese indigenous and catalytically active
minerals included in the biomass structure, suchlleali and alkaline earth metals (AAEM
speciese.g. Ca, K, Mg, and Na), are known to catalyse crackang several thermolysis
reactions in the vapour phase and remould the damomposition of a resulting pyrolysis
liquid, and change the pyrolysis product distribnt[12,44,212215].

To prevent their diverse effects on pyrolysis pridguality and distribution, the ash-
forming elements can be removed from the biomasotoe extent by washing with water,
and more extensively by using an acidic washinguidiq[216]. The main chemical
composition of biomass is sensitive to the leachangditions wherein harsh leaching can
cause the degradation of hemicellulose [167,218Rching also influences the chemical
composition of pyrolysis liquid [217]. Even very alihquantities of either alkali or alkaline
earth metals in their chloride forms were showrbéo sufficient to significantly alter the
pyrolysis products. The presence of as little &vt.% ash led to a strikingly different
chemical speciation: in terms of levoglucosan yi¢te order of strong to modest influence
was found to be K> Na' > Cc&* > Mg?* [212].

While the conclusions concerning the effects ofrgamic minerals on non-catalytic
pyrolysis are well known, only few literature stesliare available regarding the effects of ash
and its constituents on the CFP of biomass. Asady, various projects have tried/are trying
to push catalytic fast pyrolysis to the pilot scateeven to the commercial scale and have met
varying levels of success. Moreover, most of theliss in CFP literature concern the use of
fresh catalyst; whereas, in large-scale practipplieations, the spent (and coked) catalyst is
regenerated (subjected to combustion) to be reduiméhe pyrolysis process [50]. Although,
this is pretty much similar to the FCC processrirod refinery, one aspect that is different —
and thus, far not properly understood — is thamaiss also contributes mineral matter (or ash)
to the process. Through successive cycles of pgiohand catalyst regeneration, a
considerable amount of this ash accumulates anttl gmtentially affect the chemistry of
pyrolysis as well as the stability and/or the attiwof the catalyst. Mulleret al [218]
examined the accumulation of Ca, Cu, Fe, K, Mg, && P from switchgrass on HZSM-5
during the catalytic pyrolysis in a fluidized begactor. The total amount of these elements
was observed to be accumulated on HZSM-5 in adifeesion during the successive use of
the same catalyst sample. The catalytic activisymeasured by a drop in deoxygenation of
the pyrolysis oil products and in selectivity ofoaratic hydrocarbons, was decreased
concurrent with the increase in inorganic elementthe HZSM-5. They concluded that some
factors such as catalyst attrition could contritigtéhe decrease in catalytic activity, and the
reactor designs decreasing the exposure of thebiamass with the catalyst would be
beneficial to catalyst lifetimes. Paasikalébal [219] performed the CFP of pine sawdust in
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VTT’s Process Development Unit with a biomass tigiqaut capacity of 20 kg*h A spray
dried HZSM-5 catalyst was used. The changes in ymtogields, physical and chemical
properties of the CFP products, and the changekemproperties and the structure of the
catalyst were observed during a continuous runveir dour days. Coke formation on the
catalyst was observed to be heaviest at the bewnoii the experiment, but then subsided
over time. Catalyst micropore area and volume dmlstreased during the experiment; these
were accompanied by apparent changes in the dmgjabnd the structure of the catalyst.
Biomass alkali metals (Ca, K, Mg, Btc) deposited on the catalyst in time, and a linear
correlation was observed between this phenomendntlaa decrease in the acidity of the
catalyst.

To understand the role of indigenous or added exticgcompounds in CFP of biomass,
and the potential ash/catalyst interactions that take place in CFP, the influence of them
on the distribution and composition of productsutiéxsg from the primary and secondary fast
pyrolysis reactions has to be examined. Paramsteis as the type and the condition of the
catalyst, and the presence of inorganic constitugnthe biomass, could be used to alter the
relative rates of the biomass decomposition andsesgent vapour phase reactions, and
eventually produce pyrolysis liquids with an impedvcomposition. Fig.1 shows the possible
effects of the presence of the ash (whether orasotimulated during the process) on the
activity of the catalyst in catalytic fast pyrolgsof biomass. Hypothetically, four different
pathways can be distinguished on how the ash imfle the vapour phase chemistry and the
activity of the catalyst. It should be noticed thambined effects are possible too.

1) The catalytic effect of ash itself on the primaryrqglysis vapours results in the
increased production of non-condensable gases (N&tgischar;

2) Ash may crack some larger vapour phase molecube@ssible to the catalyst’s
interior, to smaller ones which are capable of emgethe catalyst pores;

3) Cracked vapours may then either be further reforbetthe catalyst (a) or not (b)

4) Ash patrticles poison the catalyst and (negativaffgct the vapour conversion and
the reaction chemistry.
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Fig. 6.1. Possible impact of ash on the catalyst and opith@ucts in catalytic fast pyrolysis of biomass.
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The objective of this paper is to investigate tliteats of indigenous and/or added
biomass ash and its major constituents on the ysisoproduct yields and composition as
observed in the non-catalytic and catalytic fastofygis of pine wood. A discussion is
provided on whether catalyst deactivation is causedely by coke deposition and thermo-
mechanical, chemical and structural changes ofdltedyst, or by the presence of the biomass
ash as well. The biomass ash could impact the ysataroperties directly (poisoning) or
affect the pyrolysis vapours reaction pathways. th purpose, non-catalytic and catalytic
(in situ) fast pyrolysis experiments have beeniedrout with a ZSM-5 based catalyst in a
laboratory scale, mechanically stirred bed reacitre results of these experiments were
compared with those of their pine-wood-ash addecissparts, and with the findings of an
experiment in which the catalyst was successivetcted and regenerated eight times while
the ash was accumulating in the bed material.

6.2 Experimental

6.2.1 Materials

In the experiments, pine wood (Bemap Houtmeel BBémmel, The Netherlands) was
used as the reference biomass feedstock. Pribetexperiments, this feedstock was sieved to
a particle size of 1-2 mm. The moisture and asherds were 7.5t.% and 0.3wt.% (on as-
received basis, a.r.), respectively. The proxinaa@ysis data, the elemental composition and
the higher heating values (in as received and dsysh of the pine wood are listed in Table
6.1.

Biomass ash was obtained by burning the pine wad@D@ °C in air. The chemical
composition of ash obtained from pine wood is shawmable 6.2. Calcium was found to be
the major constituent in the ash (#§.%). Other major constituents were potassium (20
wt.%), manganese (@t.%) and magnesium (@t.%). The majority of the AAEMs present in
the structure of biomass are reported to be irfidima of water soluble salts such as chlorides,
nitrates, carbonates and phosphates [220].

Silica sand (PTB-Compaktuna, Gent, Belgium) witm@an diameter of 250m and a
particle density of 2650 kgfir(compacted bulk density = 1660 kgjmwvas used as the bed
material in the non-catalytic experiments and béshdith the catalyst and/or with the ash in
the catalytic fast pyrolysis and ash addition eixpents.
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Table6.1. Properties of pine wood.

Proximate analysisat.%)

Fixed carbon (d.b.) 14.96

Volatiles (d.b.) [ASTM E872-82] 84.76

Moisture (a.r.) [ASTM E871-82] 7.52

Ash (d.b.) [ASTM E1755-01] 0.33
Ultimate analysis (d.b.t.%]

C 47.1

H 59

O 46.4

N 0.04

S 0.06
Alkali metals (d.b.) [mg/kg]

K 346.2

Na 10.1

Mg 112.8

Ca 767.0
HHV (a.r.) [MJ/kg]? 16.91
HHV (d.b) [MJ/kg] 18.29
d.b.: dry basis

a.r.: as received basis
& Calculated by using the Milne formula [187]

Table 6.2. Chemical composition of ash obtained from pine evdd.b.) vt.% in ash].

Element wb Element wo
Ca 44.6 Ti 0.2
K 20.1 Pb 0.2
Mn 9.2 B 0.1
Mg 6.6 Cu 0.1
Si 5.6 Ni 0.03
S 3.3 Sn 0.02
Al 2.3 Cd 0.02
Fe 2.0 Cr 0.01
P 2.0 \% 0.003
Co 1.4 Li 0.001
Zn 0.8 As BDL
Ba 0.6 Mo BDL
Na 0.6 Sb BDL
Sr 0.2 Se BDL

BDL: below detection limit
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A spray dried heterogeneous ZSM-5 based catalyslicated as ‘Type A’, was
prepared and supplied by Albemarle Catalyst ComaNy (Amsterdam, The Netherlands).
Physical and chemical properties of this catalgst lse found in Appendix A (this appendix is
confidential and can only be accessed by signicgrdidentiality agreement). The catalyst
was received in the acid form and has been trdatatie manufacturer accordingly. Prior to
the delivery, this catalyst was calcined in air580 °C for 1 h to decrease the moisture
content of the catalyst to belowwit.%. This was applied to prevent aging in the longnte
storage of the catalyst. Here, the term ‘agingrespnts the anticipated adsorption of water
and/or CQ on the catalyst from its contact with air.

6.2.2 Experimental setup and the analysis of pyrolysis products

Non-catalytic and catalytic pyrolysis experimentavé been performed in a fully
controlled, continuously operated lab-scale sesighown in Fig. 5.1 (see Chapter 5 in this
thesis).

Approximately 100 g of pine wood, at a feed rateafl.7 g-mift, is fed during every
run, which could be determined by measuring thesndéference between pine in the storage
hopper and in the feeding screw, before and afteln experiment. A pyrolysis temperature of
500 °C and a total inert gas Nlow rate ofca. 160 L h' were used in all experiments. For
the non-catalytic experiments 1.5 kg pure sand #&ndthe catalytic experiments a
catalystsand mixture of 1.5 kg (catalyst-to-sand mass ratid:14) was used as the bed
material. The reason for selecting a catalyst-twdsaeight ratio of 1:14 was to maintain the
weight hourly space velocity WHSV fhat a value of around 1. The experimental run time
(tun) Was kept at 60 min. in order to produce suffitigyrolysis liquid for different types of
analysesda. 50 g/run) and to allow a sufficiently high accwyrdor the mass balance. This
long experimental run time also allowed the pingigas to be completely devolatilized at
the specified reaction temperature.

The products obtained from non-catalytic and cétalfast pyrolysis are divided into
liquid products (organics and water), carbonacealigs (the sum of char, coke deposited on
the catalyst, and the system deposits) and nonecwadble gases (NCGs). ‘water, as a
pyrolysis product, refers to the water contentwir?o) of the total liquid product determined
by Karl Fischer titration. Hence the amount of @ngcs’ can mathematically be expressed as:
organics = liquid products — water. System deposits be defined as the carbonaceous
matter other than char in the case of the nonytatadxperiments, and an average value of
ca. 5wt.% was obtained after having been checked a nunilienes.

128



The pyrolysis liquids were stabilized with a knoamount of tetrahydrofuran (THF) to
form a homogeneous (single-phase) liquid mixturé analysed for the ¥ content (Karl
Fischer titration, KF) and their chemical compasitiGCxGC/MSFID). For the detailed
characterization of pyrolysis liquids, a combinatiof GCxGC—-FID and GCxGC-TOF-MS
was used to get a high chromatographic resolutimhcen the other hand maximal agreement
between both chromatograms. All analytical toolsl ahe procedures that are used to
characterize the pyrolysis liquids are detaileth papers of Yildizt al. [50,100] (Chapters
3 and 5 in this thesis) and Djokat al. [180]. The micro carbon residue (MCR) values of
pyrolysis liquids were taken from an Alcor MCRT-16@hich automatically executes a
factory programmed ASTM D4530 test program.

The elemental composition of char samples werermigted by a Thermo Scientific
Flash 2000 Organic Elemental Analyser. The ultinaatalysis of pine wood was performed
using Interscience Carlo Erba element analyse€fer;,N and O. Inductively coupled plasma
(ICP) equipment from spectro and atomic emissi@cspmeter (AES) from Vista were used
for the other elements [18].

The composition of non-condensable gases was deenoff-line using a micro GC
(Varian 490-GC) equipped with two TCD detectors ami analytical columns. The
following gaseous compounds were measured: CQ, C&,;, CH,4, CHe, CsHg, CsHg and
H.. The sum of gH,, C;Hg, CsHg and GHgwill be further referred to as,@

In this study, all the experiments and the analysei® performed at least in duplicate
and averaged data are reported. The error baleifigures represent standard deviations in
absolute%’s. For the detailed information concerning the exkpental unit, experimental
procedures, yield calculations, and the collectaod analyses of pyrolysis products, the
reader is directed to our earlier publications 150].

6.2.3 Pyrolysisexperiments
In this work, five types of pyrolysis experimentglwe compared:

i. A non-catalytic pyrolysis reference experiment (@ed as “NC”),
ii.  Non-catalytic pyrolysis after addition of biomashddenoted as “NC+ash”),
iii.  Catalytic pyrolysis with fresh catalyst as a refme experiment (denoted as “R0”),
iv. Catalytic pyrolysis with fresh catalyst and addézhiass ash (denoted as “R0+ash”),
and finally
v. Catalytic pyrolysis with catalysts obtained after ight successive
reaction/regeneration cycles (denoted as “R8”).

The values obtained from five non-catalytic ance¢hcatalytic experiments with fresh
catalyst were averaged to define the referencesc&€” and “R0”, respectively. The mass
balance closures for all experiments varied from®29wt.%, while the scatter in measured
data was always less than 5%. The standard dewvsatoe shown in Fig. 6.2. Operating
conditions for these experiments can be found disesv[50]. For all experiments, an
identical experimental procedure was applied.
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Bed materials obtained from the reference RO ewperis (char, sand and the spent
catalyst mixture) were removed from the reactoeraftyrolysis. Small amounts of char and
spent catalyst/sand mixture were taken for thempmuositional analyses, and the rest was
subjected to a two-step regeneration proceduredétive treatment to burn the coke and
remove the carbon as @On a muffle furnace (based on the procedure pegdy Ahoet
al. [125]). Here, the oven temperature was increésed ambient to 250 °C (4.5 °C mih
and kept isothermal at 250 °C for 40 min. Thenttdmaperature was raised to 600 °C (5 °C
min), and kept at 600 °C for 5 h. Finally the catatgsind mixture, regenerated in this way,
was stored in the oven at 105 °C until the nexteexpent. The regenerated bed materials
obtained from the reference RO experiments wereodnted back to the reactor and
subsequent experiments were carried out (R1). Téé&tion/regeneration sequence was
continued up to an™Bregeneration cycle which was denoted as “R8”. &geriments were
started with three parallel batches, which werelmoed to two parallel batches after the sixth
sequence to make up for the amount of material ieghalyses and/or losses.

The ash that was initially present in the pine woadd later in the char, was not
removed actively during the successive regeneratieps but most likely remained in the bed
material and thus may accumulate along the redotigeneration cycles. For a comparison,
the same quantity of biomass originated ash thatldvbave been accumulated in the bed
material after eight regeneration cyclea. (3 g) was added to pure sand (NC+ash) as well as
to fresh catalystsand blend (RO+ash). It is important to note theg predominant ash
volatilisation mechanisms do not occur to a sigaifit extent, neither at 600 °C (ashing
temperature) nor at 500 °C (pyrolysis reaction terafure) [221]. Three identical
experiments were performed for each case and shtsevere averaged.

6.3 Results and discussions

6.3.1 Effect of ash on the product yields

Fig. 6.2 shows the average product yield distrdoutbn feedstock weight (as received)
basis obtained from ash addition experiments coetptar the reference experiments (NC, RO
and R8). The scatter in the product yields is thas 5% indicating sufficient reproducibility
to draw conclusions with respect to the trendsienexperiments.
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Fig. 6.2. Product yields obtained from ash addition experis@ompared to those of the
reference, non-catalytic (NC), the catalytic witlesh catalyst (R0), and thé" &ycle of
catalyst regeneration (R8) experiments. Fast pgmlyf pine wood at 500 °C.

The highest organics yield, and the lowest watarb@naceous solids (CS) and NCG
yields were obtained in the NC experiments. Theitaoid of ash (NC+ash) had only a
marginal effect in non-catalytic pyrolysis; the Igieof organics decreased by %%, and
CS and NCG vyields increased by almoswil%. Actually these values are within the
experimental error, but their trends are in linghvthe literature [216,222]. Comparison of the
catalytic experiment with fresh catalyst (RO) witle one having ash added (RO+ash), shows
a larger difference in results. The presence oftlged ash in catalytic fast pyrolysis induced
an extra decrease in the yield of organics andoceateous solids by\#t.% for both. On the
contrary, the water yield increased bwfl% and the non-condensable gas yield increased by
4 wt.%, presumably due to the presence of ash (vapaakiog). The decrease in the yield of
carbonaceous solids after ash addition (speciji¢dhi calculated coke, see Fig. 6.0 vs.
RO+ash) points to a suppression of coke formatiothe catalyst. Similarly, increases in both
water and NCG yields and decreased yields of ocgaenie indicative for additional cracking
activity induced by the catalyst, the ash or a coatiion thereof. Because the ash content in
RO+ash is much higher than in ROW8% versusca. 0.3 wt.% respectively, on feedstock
basis), vapour cracking by ash components (PathF2go 6.1), or in series by both the ash
and the catalyst (Path 3a of Fig. 6.1) is likelyptzur.
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Comparing the yields obtained in RO+ash and R8difierences are more pronounced.
The organics yield of R8 iswvt.% higher, while the water, CS and NCG vyields argé, 3nd 6
wt.% lower, respectively. The presence of ash canaedhé only reason to account for these
differences in product distribution, as the amaafréish present in pyrolysis is equal for both
cases. However, the observed differences in tHdsyad pyrolysis products can be due to loss
of activity of the catalyst itself, or another wafyincorporation of the ash components in or
on the catalyst. Although the loss of a part of théalyst after eight reaction/regeneration
cycles could be another cause; this has not besaradl.

The individual yields of char and the system degosiere assumed to loa. 12 wt.%
andca. 5 wt.%, respectively for all the experiments, due tofdwt that each experiment has
been carried out under identical process conditiims has been verified a number of times.
Besides, the residence time of pine wood partiakeshe bed ,=60 min) was always
sufficiently long to allow for a complete devol&dtion at the adjusted reaction temperature
(500 °C). Hence, the differences in the yields axbonaceous solids must indicate a change
in the coke vyield.

Fig. 6.3 shows the changes in calculated coke Yietdthree individual groups of
catalytic experimentsjiz. RO, RO+ash, and R8. After ash addition (RO+at®),coke yield
decreased by 3t% compared to RO. An explanation could be that nmeerals are
interfering with the active sites inside the casalgarticles, effectively reducing the catalyst
activity (Path 4 in Fig. 6.1). Another possible kxation could be that the metals contained
in the ash favour the vapour cracking (Path 2 pn1giand/or inhibit the formation of coke
precursors.

Cokeyield
= CS — chagj — system deposits

wt.% on feed basis (a.r.)
'_

ORO B RO+Ash ER8

Fig. 6.3. Calculated coke yield obtained from ash-added ytakxperiments (RO+ash)
compared to those of catalytic fast pyrolysis withsh catalyst (RO), and thé"&ycle of
catalyst regeneration experiments (R8). Fast pgi®lgf pine wood at 500 °C.
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The coke yield of R8 was #t% and 1wt% lower than of RO and RO+ash,
respectively. When the results of RO+ash and R&anepared, it is observed that although
principally the same amount of ash is present ith lsases, the coke yields are different. It
should be noticed here that, during the eight reactycles changes occur on the
catalyst/sand mixture. Obviously the apparent redacin catalytic activity cannot be
explained only by the presence of ash. Multiplectiea and catalyst regeneration cycles
cause thermo-mechanical, chemical and/or phystaiges in the catalyst structure, likely as
a consequence of poisoning, fouling, dealuminataorm, attrition. The latter might even cause
the catalyst content of the sand/catalyst mixtoréd lowered. Hence, the lower coke yield
found in R8 is largely due to an apparent reduadtocatalyst activity as a consequence of the
repeated regeneration of the catalyst/sand mixture.

6.3.2 Effect of ash on the yields of the individual non-condensable gas
compounds

To further clarify the effect of ash on the crackimeactions, the yields of the individual
non-condensable gas compounds are summarised e &b Like in Fig. 6.2, the presence
of ash seems to have a small effect in the casleeofion-catalytic experiments. For both the
non-catalytic (NC) and catalytic with fresh catalyR0) experiments, the presence of ash
promoted the ClHand H yields, while G. yields remained unaffected. The increase i, CH
and H yields may be attributed to vapour gasificationctisms being enhanced by the
minerals in ash. The reduced Mield observed in RO, if compared to NC, suggeistt
hydrogen is consumed in the catalysed reactiergs dehydration, hydrogenation of olefins
or aromatics). Comparing the catalytic pyrolysipenments RO and RO+ash, ash seems to
favour decarbonylation (CO production) and decaytailon (CQ production) reactions,
with a corresponding yield increase ofwk.% and 2wt.%, respectively. As previously
mentioned, the effect of ash on NCG production @¢dae four-fold (Fig.1). The decrease in
the CO/CQ ratio from 1.6 down to 1.4 shows that decarboxytateactions are favoured in
the presence of ash. The increase in, GDm of CO and C§) yields is due to secondary
vapour cracking reactions which is in line with tiedings reported in the literature [216].
The yields of all non-condensable gas compound?8rwere lower than the ones obtained
from the RO+ash experiments, despite of a thea@lbtisimilar amount of ash present in both
cases. On the other hand, the values obtained @erash were quite close to the ones in R8
which indicates thati) the catalyst has lost most of its apparent dgtiafter 8
reaction/regeneration cycles and/or is partiallgt,lothereby yielding pyrolysis product
distributions more akin to the non-catalytic casd i) some differences with respect to NC
can be attributed to ash accumulation or some aweabtatalyst-ash effect. Both the yields of
CO and CQdecreased by &t.% in R8, if compared to RO+ash. The higher CO/C4dio for
RO showed that the type of deoxygenation via gasespecies is different than the
experiments wherein the ash is involved (RO+ashR8)d This suggests that the change in
the activity of the catalyst is not only relatedth@ presence of ash but also to physical and
chemical changes in the structure or in the contiposof the catalyst/sand mixture.
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Table 6.3. Average non-condensable gas compound yields olbtaiream ash addition
experiments. Values are compared to the refereaheenon-catalytic (NC), the catalytic fast
pyrolysis with fresh catalyst (RO) experiments, g¢hd 8" cycle of catalyst regeneration
experiments (R8). Product yields and standard tlews are represented wt.% on feed
basis (a.r.) and absoli€s, respectively. Fast pyrolysis of pine wood af 5C.

NC NC+ash RO RO+ash R8

CO 13.0+0.8 134+1.1 16.2+1.7 17.3+x1.4 M®3
CO 10.0+ 0.7 99+05 10.1+1.1 12.1+1.2 9.7%0
CH, 1.6+0.1 2.1+0.2 1.3+0.2 1.7+0.0 1.6+0.1
Cos 0.38 £+0.02 0.41 +0.04 0.87 +0.11 0.86 +0.18 543 0.06
Ho 0.10+0.01 0.12+0.01 0.05+0.00 0.08 +0.00 07G0.00
co2 229+15 23.2+05 26.3+2.7 294 +26 24®B2x
COICOP 1.30 +0.03 1.35+0.04 1.61 +0.09 1.43+0.03 54k 0.10

2 CQyield is the sum of CO and GQn wt.%)
P CO/CQ ratio is dimensionlessvt./wt.)

6.3.3 Effect of ash on the composition of pyrolysisliquids

Fig. 6.4 shows the yields of compounds detecte@BxGC/MS-FID analysis. They
are being classified according to their functiomgbup, and ordered by the type of
experiments. Included are sugars, aldehydes, aidms, ketones, phenols, aromatics and
others (unclassified oxygenates such as 1-hydrepgepanone). Table 6.4 shows details of
the most prevalent individual compounds detected @GCxGC/TOFMS analysis and
guantified by GCxGC/MSFID. For the quantification procedure, the readaeferred to the
paper of Djokicet al.[180]. It should be taken into account that thelds shown in Fig. 6.4
and Table 6.4 were normalized and expressed os-agcaived (a.r.) feed basis.

134



5,C
45
4,0
35 T
3,0 {1

2,5 1 =

ER
2,0 -
1,5 1 f

1,0 +

T L o
0’0 ;I—h
Sugars Aldehydes Acids Furans Ketones Phenols Aromatics Others

ONC BNC+Ash ORO ©RO+Ash ®BRS8

[——
_|
=

wt.%on feed basis (a.r.)

Fig. 6.4. Yields of functional groups in pyrolysis liquid (BGC/MS-FID detectable only)
are shown for ash addition experiments, comparethéaeference, non-catalytic (NC), the
catalytic fast pyrolysis with fresh catalyst (R@pd the 8 cycle of catalyst regeneration
experiments (R8). Fast pyrolys$pine wood at 500 °C.

As shown by Fig. 6.4 and Table 6.4, the chemicatmusition of the detectable part of
the pyrolysis liquid is significantly influenced ltge presence of the catalyst. Besides, effects
can be observed caused by the presence of theCashparing NC and RO, the most
important observations related to the presencaeftcatalyst were the complete suppression
of the sugars and aldehydes as well as a signifdacrease in acids, furans, ketones, and
compounds classified as “others’e( unclassified oxygenates). The quantity of the atica
was increased as well.
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Table 6.4. Yields of the most prevalent compounds in pyrolygsiid (GCxGC/MS-FID
detectable only) in case of ash addition experisyezimpared to the reference, non-catalytic
(NC), catalytic fast pyrolysis with fresh cataly®0) experiments, and th&' 8ycle of catalyst
regeneration experiments (R8) of pine wood at 3DQ\1.% averages on feed basis (a.r.)).

NC NC+ash RO RO+ash R8
Sugars (3 compounds) 3.79 3.07 0.04 0.31 2.09
Levoglucosan 3.22 2.58 0.00 0.29 1.84
Aldehydes (2 compounds) 0.67 0.63 0.00 0.00 0.00
Hydroxyacetaldehyde 0.67 0.60 0.00 0.00 0.00
Acids (9 compounds) 2.09 2.46 0.97 1.28 1.64
Acetic acid 1.50 1.99 0.57 0.94 1.16
Propanoic acid 0.29 0.16 0.07 0.09 30.1
Furans (12 compounds) 0.57 0.58 0.28 0.26 0.12
Furfural 0.22 0.15 0.06 0.08 0.02
Ketones (9 compounds) 0.83 0.66 0.40 0.39 0.66
2-cyclopenten-1-one 0.16 0.16 0.14 0.17 0.34
Phenols (24 compounds) 2.49 231 2.31 2.01 3.16
1,2-benzenediol 0.51 0.46 0.37 0.32 500.
4-methyl-1,2-benzenediol 0.61 0.59 043 0.36 0.69
4-ethylcatechol 0.29 0.26 0.21 0.17 340.
2,4-dimethyl-phenol 0.19 0.14 0.21 0.16 0.21
4-methyl-phenol 0.11 0.11 0.28 0.24 270.
2-methyl-phenol 0.10 0.10 0.17 0.16 180.
Phenol 0.08 0.08 0.28 0.24 0.24
Aromatics (19 compounds) 0.00 0.00 0.47 0.45 0.44
Xylene (m, -p) 0.00 0.00 0.03 0.01 10.0
1-methyl naphthalene 0.00 0.00 0.24 0.18 0.09
Methyl-1H-indenes 0.00 0.00 0.06 0.07 0.06
Indene 0.00 0.00 0.03 0.03 0.02
Indane 0.00 0.00 0.01 0.01 0.01
Others (21 compounds) 1.69 2.46 0.67 1.03 1.46
1-hydroxy-2-propanone 1.08 1.45 0.20 70.4 0.80
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In fast pyrolysis, the mineral salts/ash preserttiomass lowers the activation energy
of reactions leading to the direct formation of fbever molecular weight decomposition
species of cellulose, such as; glycolaldehyde @wyhacetaldehyde), formic acid, acetol and
gas compounds. The reason for decreased levoghucgisdds is that the preferential
activation of these reactions reduces the amoucelilose available for the reactions that
produce levoglucosan [212,223,224]. In our stuthg presence of ash (NC vs. NC+ash)
revealed clear changes in the yields of some clansigecies such as a decrease in the
levoglucosan yield and increased vyields of acetid and 1-hydroxy-2-propanone (acetol)
(Table 6.4), which are in line with the literatuiiéhe presence of potassium and calcium in
the form of CaCl has a decreasing effect on the levoglucosan y&ld] while magnesium
has the opposite effect [213]. Moreover, alkaliaetle metal chlorides (Mggl CaC}h) were
reported to increase the char yield in celluloselygis at 400 °C while decreasing the yield
of levoglucosan [225]. This would impact the obgehcoke yield, since it is assumed here
that char yield is always the same as for non-gita{see also Section 6.3.1). In order to
achieve higher levoglucosan yields, biomass woeleldno be demineralized down to certain
concentrations [212]. By the removal of alkali aalklaline earth metals, increased yields of
lignin-derived oligomers in the pyrolysis liquid meeobserved as well [217]. The decrease in
phenols both in non-catalytic and catalytic expenis with and without ash (Table 6.4) was
in line with this observation.

In CFP of biomass with acidic zeolites, the cataigsknown to promote cracking
reactions leading to production of highly deoxygedaand hydrocarbon-rich compounds via
acid catalysed dehydration, decarbonylation andardbexylation reactions [44,109]. In the
case of experiments with fresh catalyst with anthedit ash addition (RO and RO+ash),
increases in yields of sugars, acids and other engigs were observed after the addition of
ash. Especially the increase in sugar yields, whwes not the expected scenario in the
presence of the ash (as explained before), revéladedhe catalytic activity was changed by
the addition of the ash. This can be explainedhieydeposition or adsorption of ash derived
chemical speciee(g.AAEMS) on the catalyst surface, thereby blockiiter the active sites
or the pores inside the catalyst and reducingcitivity. On the other hand, the production of
aromatics and ketones was not affected by the pcesef ash. After several regeneration
cycles the situation is again different. For R8mpared to RO+ash, the yields of sugars
increase (from 0.3vt.% to 2.1wt.%), together with acids (acetic acid from @€% to 1.2
wt.%), ketones (doubled 2-cyclopenten-1-one vyield frord wt.% to 0.3wt.%), phenols
(increases in catechol, 4-methyl-catechol and $tetltechol) and other oxygenates (increase
in for example 1-hydroxy-2-propanone from &&% to 0.8wt.%). Conversion of aldehydes
in both cases, and a similar yield in aromaticeaded that the catalyst still had a certain
activity, even after eight cycles. Unfortunatelye tisignificant difference regarding the
production of detectable phenols cannot be explausey well in this stage of research. R8
shows a level higher than all other cases. In @itiee paper concerning the effect of
successive catalysts regeneration [50], the rigmgl of phenols was observed particularly
during the last three cycles.

137



While looking at the results shown in Fig. 6.4,shiould be kept in mind that the
compound conversions may not be limited only byregaiction of acid sites in the catalyst’'s
interior, but also by the presence of sufficierdateon precursors in the vapour phase, the
catalyst accessibility, and/or changes in the ratisand to catalyst due to catalyst attrition or
selective removal (relatively large difference endity and particle size). Overall, it can be
concluded that the deactivation of the catalystasonly related to the presence of ash but
also caused largely by the thermo-mechanical, otedror physical changeg.{. poisoning,
fouling, attrition, and amount) occurring duringetiight reaction/regeneration cycles.

6.3.4 Effect of biomass ash on the elemental distribution over various
pyrolysis products

Table 6.5 shows the elemental distribution oveiousr pyrolysis products (organics,
water, char, coke, and NCGs) obtained from theaakhtion experiments, compared to the
reference experiments (NC, RO and R8). The presefcash in case in non-catalytic
pyrolysis had almost no effect regarding the elemletistribution over the various pyrolysis
products. On the other hand, the addition of adR(rash caused some slight changes in the
elemental distribution when compared to the catalgkperiments with fresh catalyst only
(RO). The carbon content of the organic fractiopyrfolysis liquid slightly decreased by 2 %
while it increased by the same amount in NCGs. Thadports the hypothesis that ash
minerals are able to crack the larger moleculgb®fprimary vapours (Path 2 in Fig.1). Char
and coke yields were not affected. For hydrogenayden, the changes are clearer, as they
decreased by 4 % and 7 %, respectively. The hydrege oxygen yields for the aqueous
phase (associated with the increase in the wagdd)yincreased by 3 % for both. Hydrogen
and oxygen yields in the non-condensable gasegased by 2 % and 3 %, respectively.
These findings revealed that, in line with the ab®hown results, the presence of ash
increased the water and NCG production (particplaf,).

When the results obtained in the R8 experiment wenepared to RO+ash, significantly
more carbon, hydrogen and oxygen from the feed cenge in the organics; they were
increased by 5 %, 8 % and 12 %, respectively. Thesdts show that the redistribution of C,
H and O from the feedstock towards the pyrolysisdpct fractions in the R8 experiments
was more similar to those of non-catalytic (NC) exments which can be interpreted as a
sign of selective catalyst deactivation and/or.Id3se decreased elemental contents in coke
and NCGs are in line with that suggestion; see lkigo6.3 and Table 6.3.
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Table 6.5. Elemental distribution over various pyrolysis puots obtained in ash addition
experiments. Values are compared to the refereaheenon-catalytic (NC), the catalytic fast
pyrolysis with fresh catalyst (RO) experiments, g¢hd 8" cycle of catalyst regeneration
experiments (R8). Values shown are mass fractiort%,i relative to the carbon, hydrogen,
oxygen present in the biomass feed. Fast pyrobfgine wood at 500 °C.

NC NC+ash RO RO+ash R8
Carbon
Organicg 59.4 60.2 51.5 49.9 55.3
Water” - - - - -
Char 19.9 194 19.7 19.7 19.6
Coke° 51 51 11.2 11.2 7.5
NCG! 15.6 15.3 17.6 19.2 17.6
Hydrogen
Organicg 45.8 45.0 33.2 28.9 36.4
Water” 35.2 35.4 43.1 45.9 42.7
Char 6.7 6.5 6.4 6.4 6.3
Coke° 4.5 4.5 9.9 9.9 6.7
NCG! 7.8 8.6 7.4 8.9 8.0
Oxygen
Organicg 34.2 33.4 17.8 11.2 23.5
Water” 35.8 35.5 43.2 46.1 42.9
Char® 1.9 3.1 2.9 4.0 1.2
Coke® 4.3 4.3 9.4 9.4 6.3
NCG* 23.8 22.6 25.6 28.4 25.1

& Calculated by difference.

® Based on the results of Karl Fischer analyses.

¢ Coke refers to coke on catalyst. The elementalposition of coke was obtained (the given valuesewer
averaged) from Williams and Horne [195].

4 Derived from micro-GC analyses.

¢ Oxygen in char was calculated by difference.

When the aim is to produce pyrolysis liquids tha¢ @ompatible with petroleum
feedstock, the final product is usually evaluatgdts O/C and H/C ratio. A low O/C and a
high H/C ratio indicate a better quality liquid [78 general, oxygen rich aromatic feedstock
are characterized by high micro carbon residuesRM®w H/C ratios and are highly polar,
and they are forming considerable amounts of cd&8 (t.%) during cracking [226].
Moreover, the coking tendency of the pyrolysis iijuncreases with increasing MCR values
which is an indication of heavy oxygenated compdsein biomass fast pyrolysis, the
presence of a catalyst reduces the micro-carboiduesMCR) of the pyrolysis liquid
[64,227]. Table 6.6 shows the MCR values and Htidsaof the liquid products (organics +
water). In non-catalytic fast pyrolysis of pinegthddition of ash reduced the MCR value
from 8.3wt% to 7.1wt%. In the literature, the MCR of non-catalytic pysis liquid is
reported to be in the range from 16 to\20% [64]. The lower MCR values found in this
study may be the result of significant crackingtué vapours as a consequence of relatively
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long hot vapour residence times. In case of catafgist pyrolysis with fresh catalyst, an
opposite effect of ash addition was observed; tliERWalue increased from 2v&t.% to 3.7
wt.%. This could be caused by deactivation of thelgsttalue to adsorption/clogging with
biomass-derived minerals — which would increase MER. And consequently, the
decreasing effect of ash on the MCR (through matense cracking) is more than negated by
the reduction of catalyst activity due to the malecontamination of the catalyst (which
increases the MCR). The MCR value of R8 waswgt4o and slightly smaller than that of
RO+ash. Compared to that of non-catalytic experis)ethe H/C ratio of the liquid product
increased in case of the catalytic pyrolysis. Hosvewthe addition of ash (both in non-
catalytic and catalytic cases) seemed to have alnmeffect on the H/C ratio of the liquid
product.

Table 6.6. MCR values and H/C ratios of the liquid produatsgénics + water) obtained
from ash addition experiments, compared to thereaf®e, non-catalytic (NC), the fresh
catalyst (RO), and the™8cycle of catalyst regeneration experiments. Fgsblpsis of pine
wood at 500 °C.

NC NC+ash RO RO+ash RS8
MCR (wt.%) 8.25 7.14 2.50 3.67 3.42
H/C 1.36 1.33 1.48 1.50 1.43

6.4 Conclusions

Accumulated ash may negatively affect the efficieotthe catalyst by its influence on
the composition of the primary pyrolysis vapourdéoreformed by the catalyst (pathway 4 in
Fig. 6.1). Ash concentrations as lowas 3 wt.% relative to the amount of pine wood fed,
andca. 0.002wt.% relative to the amount of bed material, were tbsafficient to have a
direct effect on the yield and composition of ttegatytic fast pyrolysis products. With the
presence of ash in catalytic pyrolysis, the yiefdooganics decreased by \&2t.% while
increases in the water (Wt.%) and non-condensable gases wWti%) were observed.
Moreover, sugars and acids increased and phenaead®d. Although the effects are
different in their details, the impact of accumathtash in catalytic fast pyrolysis is
comparable with that of selective catalyst lossel@ catalyst deactivation. The latter could
then be well enhanced by the accumulated Bslnvercome the drawbacks of biomass ash in
catalytic fast pyrolysis, the char (which containgast majority of the biomass ash) has to be
physically removed from the catalyst before theeregation stepThe biomass feedstock
used in this study (pine wood) is a low-ash feedstaVith the use of high-ash containing
feedstock, and the larger number of reaction/regeioa cycles desired in future large scale
installations, the effect of ash will be even mam@matic. Future research should reveal
whether the observed trends will persist after maroye reaction/regeneration cycles, and
how long it takes for the catalyst to completelacde/ate. Strategies to reduce the minerals
(e.g.biomass leaching, char removal prior to the regaimn step) burden in the catalytic fast
pyrolysis process could extend the lifetime of ¢cagalyst.
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Chapter 7

Challenges in the design and operation of processes for
catalytic fast pyrolysis of biomass

In this chapter, an extensive discussion regarding the technical and operational barriers for
the implementation of catalytic fast pyrolysis technology is provided while focusing on the
most suitable process modes and parameters, efficient and economical use of the primary and
secondary products, and the heat integration of the process. Some process alternatives for an
efficient CFP operation are suggested as well.



7.1 Introduction

One of the reasons that food/feed industries, refinery companies, and catalyst companies
show a distinct interest in thermochemical biomass conversion processes these days, is the
society driven demand for second generation biofuels, bio-based chemicals, and/or chemical
intermediates (for more detailed information see Chapter 1 in this thesis). Fast pyrolysis is a
fairly simple biomass liquefaction technique that offers significant logistic advantages in
enabling shipping to central sites (e.g. refineries, chemical plants, power stations) for large
scale conversion to final products. Being non-selective, fast pyrolysis accepts a wide variety
of lignocellulosic feedstock materials such as forestry, agricultural or plantation residues, and
industrial waste streams from e.g. food/feed, bio-ethanol, or bio-diesel production.

While the distributed availability and low energy density of biomass is a problem in
storage and transportation, a possible solution is the local densification of biomass via
liquefaction (by fast pyrolysis), followed by a centralised utilization at any desirable place,
time, and scale. Apart from nearby applications such as combustion in boilers, turbines, or
engines for the production of heat and electricity (CHP), the upgrading of bio-oil in a
dedicated biorefinery seems attractive as well. Centralised biorefineries may include crude
bio-oil conversion and upgrading technologies such as gasification and synthesis (e.g.
Fischer-Tropsch process), fluid catalytic cracking, hydroprocessing (hydrocracking and
hydrotreatment), steam reforming, etc. [77]. However, the construction of a new bio-oil based
biorefinery is a riskful and expensive affair and venture capitalists are currently not willing to
invest in its development due to high economic risks.

In any scenario for the production of upgraded bio-oils, the goal is usually to produce
either high yields of transportation fuel compounds (e.g. aromatics, olefins) and specialty
chemicals (e.g. phenolics), or just a drop-in refinery feedstock to be blended in with the
products from existing petroleum refineries. Moreover, co-processing of a mildly upgraded
bio-o0il without any major modification in the existing petroleum infrastructure would limit
the costs and aforementioned investment risks significantly. When fast pyrolysis of biomass is
carried out in the presence of suitable heterogeneous catalysts (i.e. catalytic fast pyrolysis:
CFP), the quality of the liquid product can be improved for an increased compatibility with
crude oil based refinery feedstock, and thus further upgrading processes may be avoided or
minimized. In CFP of biomass, the chemical composition of crude bio-oil can be shifted from
its typical polar nature more towards petroleum-like products [86,228] in an economical
single-step process. The process yields a liquid product composed of two phases, viz. an
aqueous phase (rich in water and acids) and a heavy phase rich in (partially) deoxygenated
organic compounds (i.e. CFP-oil). In principal, the latter can be used to co-feed a fluid
catalytic cracking unit (FCC) in existing petroleum oil refineries [63]. That would enable the
production of drop-in hydrocarbon fuels without building a separate bio-oil refinery. Hence,
in a CFP process, consideration should be given to the production of liquid intermediates
instead of finished fuels. The objective is to improve the physical and chemical properties of
the pyrolysis liquids (e.g. removal of oxygen, elimination of acidic compounds) in a way that
they become compatible with the regular refinery unit feedstock. It should be noticed however
that the development of CFP is in its infancy in comparison with other thermo-chemical

142



technologies (e.g. gasification), and the required product specifications are still fairly
undefined.

Together with the quality and the market value of the products, the efficiency and the
scale of operation also determines the feasibility of a CFP process. When the availability of
the selected type of biomass feedstock is geographically limited, CFP may be better suited for
small scale distributed plants. On the other hand, larger scale centralised CFP plants can also
be realized in case of a sufficient supply of the biomass feedstock. In the economic
standpoint, such installations should be self-sustaining in terms of their internal heat
requirements and also have high energy efficiency.

Most of the literature studies concerning CFP of biomass deal with the catalyst
screening in small scale laboratory systems, however there is a big gap and lack of input
regarding the process operation and design. In recent years, various project developers (see
Chapter 2 in this thesis) have tried to push catalytic fast pyrolysis to the pilot scale, or even to
a commercial scale, but with varying degrees of success. This chapter reviews and discusses
the way of implementing CFP technology in a process oriented way while focusing on the
most suitable process modes and parameters, the heat integration, and some possible process
alternatives. The final goal is to come up with some recommendations and suggestions on
how to realize this technique at a commercial/industrial scale.

7.2 The purpose of catalysis in fast pyrolysis of biomass

The general intention of applying catalyst materials in chemical processes is to lower
the reaction temperature and/or to improve the selectivity to the desired products. It has been
recognized already in the early days of fast pyrolysis R&D [38] that the application of
catalysis could be of major importance in controlling the quality and the chemical
composition of the liquid product. Catalysis could be applied at a number of different
positions in a fast pyrolysis process; they could be impregnated in the biomass feed, mixed
with the biomass in the fast pyrolysis reactor (in situ operation), built in the process after the
fast pyrolysis reactor for the reforming of primary pyrolysis vapours (ex situ operation), or be
used to modify the condensed liquids (e.g. hydrodeoxygenation). It should be noticed that
these options could be applied separately or in various combinations. Fig. 7.1 illustrates the
possible catalyst insertion points in a fast pyrolysis process.

Without any catalyst involvement, the bio-oil derived from fast pyrolysis of biomass
(i.e. crude bio-oil) is a mixture of hundreds of different, highly oxygenated chemical
compounds with molecular weights ranging from 18 g/mol (i.e. water) up to 5000 g/mol or
more (e.g. oligomers) [12]. This chemical mixture also has some unfavourable properties such
as a high oxygen content, a high acidity, an insufficient chemical stability and a low heating
value [30]. Besides, none of the individual compounds in the crude bio-oil are present in
quantities above a few weight percent.
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Fig. 7.1. Options for the addition of catalyst materials in a fast pyrolysis process.

The presence of oxygen is commonly believed to be the origin of the problems in
pyrolysis oils. However, while realizing that second generation bio-fuels may contain
significant amounts of oxygen (like in ethanol or methanol), it is postulated here that not the
oxygen itself is a problem, but the way in which the oxygen is present in the bio-oil. If the
quality of the oils should be steered, whether or not in combination with a certain degree of
oxygen removal, that would include a selective transformation of the oxygen functionalities
into ‘desired’ or acceptable ones like alcohols and ethers. Undesired chemical compounds are
those with very reactive functional groups, e.g. carboxylic acids, aldehydes, ketones. A key
issue to learn, by proper oil analysis, is the nature and the quantity of the oxygen containing
groups present in the oil, and how their presence can be changed selectively. Certain
combinations of different oxygen functionalities like acids/alcohols or alcohols/aldehydes are
also undesired as they can easily lead to polymerization reactions during handling and storage
of the bio-oil. All this leads to the conclusion that steering of the oxygen functionalities
should be a main concern in upgrading of pyrolysis oils, next to a (partial) reduction of the
oxygen content (preferably by CO, rejection; see Chapter 2 in this thesis). A general observed
trend in the literature on catalytic fast pyrolysis is that the product and energy yields are very
low for high de-oxygenation levels [63]. Depending on the precise end use of the product, one
should find ways to control the catalytic effect and search for an optimal impact of the
catalysis.

Catalysis can significantly alter the bio-oil composition by promoting deoxygenation,
cracking, and reforming (re-arranging structures of hydrocarbon molecules) reactions. The
intention here is to convert the primary products of thermal decomposition (poly-sugar and
lignin fragments) preferably into iso-alkanes and (mono-) aromatics. There are various
performance criteria for the catalysis in CFP (see Tables A.4.3a and A.4.3b in the Supporting
Information). One of them is to keep as much chemical energy in the desired product as
possible (compared to the energy input by the original biomass feedstock); this can be
achieved largely by limiting the formation of coke on catalyst (carbon loss), water (hydrogen
loss), and water soluble organics. More importantly, the efficiency of a catalyst can be
evaluated by its ability to remove oxygen from the CFP-oil and to produce either higher-
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octane-number gasoline components and/or intermediates for the production of bio-based
chemicals.

7.3 The ideas behind catalytic fast pyrolysis

The aim of a commercial CFP process should be to convert the biomass feedstock
efficiently to a high-quality liquid (CFP-oil) in high quantities, which could be realized by:

the stabilization of the liquid product by controlling the molecular size distribution
and steering the oxygen functionalities,

the (partial) removal of oxygen from the liquid product preferably by CO, instead
of H,O and CO,

the minimization of coke formation on the catalyst,

the maximization of the energy yield,

the production of (iso-) alkanes and aromatics,

accepting stable oxygenates like alcohols, ethers and phenols.

In CFP of biomass, the possible options are to produce:

a.

a feedstock for the FCC units in the existing crude oil refineries, in which case the
CFP-oil should be miscible with vacuum gas oil (VGO) or light cycle oil (LCO),

a bio-fuel for direct use in large engines (trains and ships, stationary engines and
turbines in co-generation units),

blendable components for transportation fuels (gasoline or diesel), which would
require the isolation of specific compounds (e.g. aliphatic and/or aromatic
hydrocarbons) from the CFP-oil.

Other important targets should be the limitation of the energy demand of the process,
the amounts of by-products, and the consumption of the fresh catalyst. The latter requires an
effective regeneration of the spent catalyst. Eventually, five main factors influence the
effectiveness of a CFP process:

the type and the properties of the biomass feedstock,

the type of the catalyst used,

the process parameters (i.e. temperature, heating rate, catalyst-to-feed ratio, vapour
residence time, efc.),

the operation mode (i.e. in- or ex situ),

and the choice of the reactor technology.

The success of the process, in relation to the target product properties, is strictly related
to the precise optimization of these factors.
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7.3.1 Technical factors influencing the effectiveness of a CFP process

(This section includes the summary of the highlights of what was discussed in Chapter 2 in
this thesis, where more detailed information regarding the contents of this section can be
found.)

7.3.1.1 Biomass feedstock

Although a wide variety of lignocellulosic feedstock materials can be utilized, high
lignin and low ash containing biomass feedstock should be preferred in CFP of biomass.
Compared to cellulose and hemicellulose, lignin has a lower oxygen content. The presence of
aromatic moieties in lignin makes it suitable for the production of phenolic intermediates
which then can be converted to aliphatic and aromatic hydrocarbons with a suitable catalyst
(see Fig. 2.5 in Chapter 2 in this thesis). On the other hand, high ash containing biomass
feedstock (i.e. agricultural residues, non-woody biomass, etc.) are not desirable for CFP due
to the catalytic effect of ash under pyrolysis conditions (i.e. vapour cracking) [29], due to the
deactivation of the catalyst by the presence of ash, and due to an increase in undesirable
compounds (i.e. acids) [81] (see Chapter 6 in this thesis). Compared to other types of biomass
feedstock, woody biomass meets the above mentioned specifications [80] and may enable the
production of high yields of CFP-oil with higher heating value. Literature studies (see Chapter
2 in this thesis) also show that woody biomass has been used in most of these studies due to
the fact that it is relatively clean, easy to process (e.g. handling and feeding), and well
characterized (especially for some specific wood types, such as pine and beech). Besides, it
has a vast availability on the international market.

Ideally, biomass feedstock materials with a moisture content below 10 wt.% are
preferred in fast pyrolysis processes [29] (see Chapter 2 in this thesis). Higher moisture
content in the biomass feedstock will cause excessive water content in the bio-oil, thereby
reducing its heating value. Also, the higher the moisture content, the more energy is required
to heat the feedstock up to the pyrolysis temperature (as more latent heat is consumed). In this
case, a biomass pretreatment unit including a drying step should be included in the process.
For the biomass feedstock having ash contents higher than that of woody biomass (i.e. ca. 0.5
wt.% [80]), a leaching step before the drying step could be considered (see Fig. 7.5a and Fig.
7.6) [229]. Leaching refers to washing the biomass feedstock with an acidic solution and/or
water for (at least partial) demineralization.
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7.3.1.2 Catalyst

One of the most important challenges for CFP of biomass is to design efficient and
economical catalysts. The extensive research into catalyst design and screening has been
detailed in some recent literature reviews [63,230,231]. The ideal CFP catalyst should be
cheap, strong, stable, resistant to coke formation, regenerable, and effective in terms of its
activity and selectivity. As expected however, compared to the conventional fast pyrolysis
processes, the use of heterogeneous catalysts in CFP of biomass results in additional costs and
processing difficulties (e.g. excessive deactivation of the catalyst). It is estimated that the cost
of a CFP process might be around twice that of a pyrolysis-only process (in terms of dollar
per joule of energy produced from the oil) although this could decrease with an increased
scale of production [40,232].

7.3.1.3 Process parameters

The process parameters that should be taken into account in CFP of biomass are: the
temperature, the residence time and the heating rate of the biomass, catalyst-to-biomass ratio,
and the vapour residence time.

The reaction temperature is one of the main, if not the major, critical process parameters
in CFP; it affects the relative rate of the catalysed vapour phase reactions [40]. In in situ
catalytic fast pyrolysis of biomass, where the catalyst and the biomass are mixed together in a
heated reactor zone (see section 7.3.1.5), the temperature of the catalyst is same as (and thus
limited by) the actual biomass fast pyrolysis temperature (ca. 500 °C). However, in the ex situ
mode, where the biomass fast pyrolysis and the catalytic reactors are heated separately, the
temperature of the catalytic reactor can be adjusted to lower or higher temperatures than that
of the fast pyrolysis reactor. This could be beneficial regarding the outcome of the process so
that the temperature of the catalytic (ex situ) reactor could be set precisely based on the
optimal performance of the applied catalyst with respect to product yield and quality.

The heating rate of a biomass particle is closely related to its particle size. In transported
bed reactors operated either catalytically or non-catalytically, biomass particles smaller than 2
to 3 mm are necessary to achieve high heating rates and complete devolatilization within a
short retention time [29]. In these type of reactors, the external medium-to-solid heat transfer
rates should also be sufficiently high (>500 W/m?K [30]). This is achieved when the biomass
particles are submerged quickly in a bed of hot, fine particles of inert solid material (e.g.
sand) [233].

In a continuously operating CFP reactor, the mass ratio of catalyst-to-biomass should be
optimised precisely to ensure a sufficient contact area for the adsorption of the primary
pyrolysis vapours on the catalyst surface (active sites). When the amount of the catalyst (and
thus the active surface area) is not sufficient, some of the primary pyrolysis vapours could
leave the reactor without being reformed, yielding a mixture of catalyzed and non-catalyzed
liquid product. Adversely, in the case of the presence of excess catalyst in the reactor, the
economics of the process could be affected negatively due to the dispensable attrition of the
catalyst in continuous systems where reaction-regeneration cycles are involved. Moreover, the
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overcracking of the vapours resulting in the formation of undesired non-condensable gas
compounds is possible as well.

In a regular fast pyrolysis process, short vapour residence times (< 2 s [88]) in the
heated zone (including the reactor zone) followed by rapid quenching of the vapours is crucial
to prevent the secondary vapour phase reactions and to obtain higher liquid yields with
sufficient bio-oil quality. In CFP of biomass, the secondary vapour phase reactions generally
take place after the physical separation of reformed vapours and the catalyst, in the hot zones
of the system prior to the condenser. Due to the fact that the catalysed reactions, resulting in a
mixture of volatiles (vapours) — these contain gaseous (non-condensable gas compounds such
as CO, CO,, etc.) as well as liquid species (i.e. aerosols) — do not reach a state of
thermodynamic equilibrium, short vapour residence times are necessary to avoid both the
overcracking of vapours on the catalyst and the possible secondary reactions (e.g.
condensation, oligomerization, polymerization) of the desired volatile compounds. Such
undesirable vapour phase reactions could be catalysed by the presence of the minerals in the
system as well [81]. Hence, to achieve the balance between the time necessary for the
completion of catalytic reactions (sufficient contact time for vapour-catalyst surface
interactions) and the suppression of unwanted secondary vapour phase reactions, a careful
optimization of the carrier gas flow rate is necessary. Carrier gas refers to e.g. pure inert gas,
recycled oxygen-free flue gas and/or non-condensable gases, or the mixture of these in any
combination.

7.3.1.4 Process limitations

7.3.1.4.1 Catalyst circulation

In CFP of biomass, the regeneration (i.e. re-activation, oxidative treatment to burn the
coke and remove the carbon as CO,) of the spent catalyst is achieved by recirculating it
continuously over a secondary reactor, the ‘regenerator’. By the frequent regeneration, the
catalyst should in theory retain most of its original activity and contact the freshly-fed
biomass always in an active state [72,86]. The amount of the catalyst continuously circulating
within the system must be determined based on the time necessary for a complete
regeneration of the spent catalyst in the regenerator. A certain amount of catalyst make-up is
indeed necessary due to the possible catalyst losses; these could be due to the irreversible
deactivation and/or the attrition of the catalyst. Requirement here is that the catalyst particles
should be strong enough to withstand attrition during the several number of successive
reaction/regeneration cycles; this should be one of the main focuses in CFP research.

7.3.1.4.2 Catalyst deactivation

Catalyst deactivation is a serious technical and economic problem in CFP of biomass. It
is caused by the deposition of coke on the active surface of the catalyst (leading to pore
blockage) [234] and further enhanced by the deactivation of the acid sites by the presence of
biomass minerals (alkali and alkaline earth metals, AAEMs) [219].
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The issue of coke deposition on the catalyst may be eliminated up to a certain level by
an effective catalyst design (i.e. tuning the physical properties of the catalyst such as the pore
size [45]), but also by using an effective and well-optimised reactor design. Such a design
should offer high heating rates of biomass, short vapour residence times to prevent re-
polymerization reactions, and correct catalyst regeneration techniques. The latter requires
optimised procedures involving the temperature level and the duration of the catalyst
regeneration (see Chapter 5 in this thesis) [50]. High heating rates of the biomass particles
were found to suppress coke formation by homogeneous gas phase thermal decomposition
reactions [85] and by heterogeneous reactions on the catalyst particles.

Catalyst poisoning caused by the mineral deposition is irreversible and once totally
deactivated, there is no way to benefit from the same catalyst in the process again. Vapour
phase reactions are affected by catalyst poisoning and might result in the increased formation
of water and gases at the expense of bio-oil yield [29,81] (see Chapter 6 in this thesis). Hence,
in a cost-effective CFP process, the direct physical contact between the biomass and the
catalyst should be prevented to eliminate the permanent catalyst deactivation due to the
mineral accumulation inside the catalyst. This may be possible by the selection of a suitable
reactor technology and operation mode (see sections 7.3.1.5 and 7.3.1.6).

7.3.1.4.3 Mixing the catalyst with an inert solid material

In most pyrolysis systems an inert solid material (usually inert sand), of a particle
diameter in the range of 200 to 600 pum, is used to enable proper fluidization and recirculation.
In continuously operating CFP processes, mixing the catalyst particles with sand, both being
circulated continuously over the pyrolysis reactor and the regenerator, seems an attractive
option. In a sand-catalyst mixture, sand could act as a binder and improve:

e the external medium-to-biomass heat transfer rates,

e allow varying the ratio of catalyst over sand to adjust the degree of catalysis in
relation to the final composition of the CFP-oil,

e could prevent some operational limitations, such as the difficulties in feeding fine
catalyst particles through feeding screws (or even through the reactors, e.g. auger
type).

However, large differences in particle size and/or the density between the catalyst and
the inert solid material will lead to segregation [235]. To prevent this, the particle properties
of all solid materials inside the system should be kept as close as possible and the catalyst-to-
sand mass ratio should be optimised.

7.3.1.5 Operation mode

Based on the location of the catalyst in the process, CFP of biomass can be performed in
two different operation modes: in situ and ex situ [75] (see Fig. 7.1 in this chapter and Fig. 2.1
in Chapter 2).

In the in situ mode, the CFP occurs in a single reactor where the biomass feedstock and
the catalyst are physically mixed to enable a good contact between the two. The catalyst can
be either:
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e added directly to the biomass prior to the feeding by e.g. wet impregnation. Since it
would be impossible for a heterogeneous catalyst to catalyse the thermal
decomposition of lignocellulosic biomass itself, this could be beneficial to control
the initial biomass decomposition catalytically and to decompose the biomass in a
selective way [231].

e or just mixed with the biomass in pure form or in the form of a mixture with an
inert solid material (usually inert sand). However, the heat transfer to the biomass
particles may differ when the heat capacities of the catalyst and the inert solid
material are different.

In both options, catalysts will be active at the operating temperature of the pyrolysis
reactor and immediately attack the volatiles released from the biomass particles.

When the in situ processing mode is applied in systems involving a continuous
circulation of the catalyst, the accumulation of biomass originated ash (minerals, i.e. alkali
and alkaline earth metals) in the catalyst material during the successive use of the same
catalyst sample [218,219] should be prevented. The ash could be removed from the catalyst
either:

e by the removal of char (containing the vast majority of ash) prior to the
regeneration step. This allows the char-free but coke-rich catalyst particles to be
regenerated in the absence of ash.

e or by the removal of ash after the regeneration step. This involves the burning of
char and the coke-on-catalyst together and thus results in a homogeneous solid
mixture of ash+catalyst. Cyclone(s) can be installed at the outlet of the regenerator
to separate the ash and the regenerated catalyst. However, similar particle
properties (e.g. size, density) of the two may limit the efficient separation of the
ash.

Both options are practically hard to implement. Separation of char before the catalyst
regeneration step seems as the most feasible one. Char separation has been applied in
bubbling fluid bed pyrolysis [236] but is technically more difficult to achieve in a transported
bed technology. However, it deserves to be considered for the future CFP installations. To
this end, char separation through sieves, high temperature resistant electrostatic precipitators,
and/or ceramic filters could be explored.

In the ex situ mode, the primary pyrolysis vapours produced inside the first reactor (i.e.
non-catalytic pyrolysis reactor) are carried through a secondary reactor (i.e. ex situ reactor)
where they are contacted with the catalyst. The possibility of independent adjustment of
reactor temperatures and secondary input of gas (e.g. hydrogen) to the ex situ reactor may
assist controlling the product distribution and selectivity. The most important advantage of the
ex situ CFP is the periodic regeneration of the spent catalysts (refers to the removal of the
coke on catalyst by oxidative treatment) that can be conducted in absence of the ash
containing char, and thus prevent the accumulation of biomass ash [81,218] in the catalytic
reactor. A disadvantage of the presence of a catalytic reactor in the vapour stream to the
condenser could be the corresponding increase in the vapour residence time which is known
to promote thermal cracking and a loss in condensable compounds. To prevent these
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secondary reactions in the vapour phase, the vapour residence time in between the two
reactors should be kept short. For that reason, the length of the connecting pipelines in
between these two reactors should be as short as possible and thermally insulated.

Ex situ configurations seem technically the most challenging, and probably have the
highest capital cost due to the presence of an additional regenerator and an ex situ reactor (and
its auxiliary components such as cyclone(s), efc.). From a long-term operational cost point of
view however, this processing mode is more appropriate for CFP of biomass. The activity of
the catalyst is eventually conserved over a much longer period because it is not in contact
anymore with the biomass minerals (no risk of catalyst poisoning by minerals). This allows
the catalyst to be re-used larger number of reaction/regeneration cycles than that of in an in
situ operation. However, the quantity and the quality of the CFP-products obtained in the ex
situ processing might differ (in terms of the yields of CFP-oil and the coke-on-catalyst) from
that of in situ processing [100] (see Chapter 3 in this thesis); this should be kept in mind and
researched thoroughly.

7.3.1.6 Reactor technology

7.3.1.6.1 Reactor technology suitable for in situ operation

A transported bed system with a riser reactor and a regenerator for the continuous
catalyst regeneration can be considered (Fig. 7.2). This approach has been applied for in situ
CFP of biomass both for research and commercial purposes [32,150]. The operation is similar
to that of fluid bed catalytic cracking of crude petroleum oil (FCC), where commercially
available small (d,<80 pm) and light (pp,~1500 kg/m3) catalyst particles are recirculated
through a riser reactor (cracking) and a turbulent fluid bed regenerator (coke burn-off). In
FCC units, the cracking takes place in a riser reactor that is typically operated at linear gas
velocities of 15 m/s. The catalyst is transported at a slightly lower velocity (slip velocities
ranging between 1 and 10 m/s, depending on the density of the catalyst) and its minimal
residence time in the riser is typically 2 to 3 seconds (Lisr = 20-30 m) [237]. Here, the
question to be discussed is whether or not a riser would be a suitable reactor for CFP of
biomass. Although strictly depending on the length of the riser reactor and the velocity of the
transported particles, such a configuration would offer relatively short residence times to the
catalyst and the biomass particles. That may be suitable for very fine biomass particles (<0.5
mm particle diameter) which can be devolatilized completely within a few seconds. However,
for the biomass particle size range typically used in fast pyrolysis (1<d,<5 mm) the required
pyrolysis times are much longer (10-30 s). They cannot be converted completely in a FCC
riser reactor. To improve the external medium-to-solid heat transfer rates, the catalyst could
be mixed with an inert solid material (e.g. fine sand) having a higher heat capacity than that of
the catalyst. To achieve similar circulation rates of the catalyst and the inert particles, the
particle properties of these should be similar. A uniform circulation is possible by applying
turbulent or fast fluidisation regimes that prevents the extensive segregation of the
recirculated solids. However, if the particle properties (e.g. densities, sizes) of the inert solid
material and the available catalyst are too far apart one could rely on using a pure catalyst.
One could consider applying a turbulent fluid bed as the CFP reactor, instead of a riser. This
may offer sufficient time for biomass particles of a more realistic size to devolatilize.
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However, due to the rapid deactivation, most of the catalyst inventory would then be ‘dead’
and inactive. An additional problem of using an FCC-like system for CFP by introducing
biomass (dust) is the direct contact of the catalyst with the ash containing biomass. The
separation of char particles prior to their entrance to the regeneration chamber is a must.
Otherwise, the accumulation of char within the system, and thus the irreversible deactivation
of the catalyst by the accumulated ash, is inevitable. However, the separation of very small
char particles from the catalyst particles having similar sizes is not possible. A solution would
be to leach the biomass feedstock before being fed to the system; however, technical and
economic benefits of this operation with respect to potential catalyst losses should be well
considered.
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Fig. 7.2. Scheme of the FCC-like circulating system applied for in situ catalytic fast pyrolysis
of biomass.
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Besides the FCC-like systems, auger (screw) reactors can also be considered for in situ
CFP of biomass (Fig. 7.3) due to the high heating rates they offer when the biomass particles
are heated by an externally supplied solid material (e.g. sand, catalyst, or a sand-catalyst
blend). They are compact and robust, require little (or no) carrier gas, offer good flexibility in
feedstock size and properties, and may have biomass processing capacities from 50 to 100
tons/day [95-97]. In auger reactors, the biomass residence time is a function of the length and
the turning frequency of the auger screw. Hence, unlike CFB systems, bigger biomass
particles (~5 mm) can be used and longer biomass residence times can be achieved for a
complete devolatilization. This would help to achieve a better efficiency in char separation as
well. The most important advantage of auger reactors is that they may offer a better control of
the catalyst-to-biomass ratio. However, the transportation of very fine catalyst particles
through the feeding and the auger screws might be a technical barrier. As mentioned in
section 7.3.1.4.3, feeding a pre-mixed catalyst-inert solid material blend to this reactor is
beneficial, not only for a better performance in feeding and solids transportation, but also to
prevent the particle segregation. Besides, the active catalyst could become deactivated before
reaching to the end of the auger screw; this could be prevented by feeding the active catalyst
through multiple insertion points (see Fig. 7.3). The number of these insertion points could
depend on the length of the auger screw and/or the deactivation rate of the catalyst. The latter
is a function of catalyst-to-biomass ratio. The list of the main characteristics of the proposed
reactor designs is shown in Table 7.1.
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Fig. 7.3. Scheme of the auger reactor technology for in situ catalytic fast pyrolysis of
biomass.
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Table 7.1. The list the main characteristics of the proposed reactor designs.

Reactor type FCC-like with a riser Auger
Operation mode in situ / ex situ non-catalytic / in situ
Biomass residence time min. 2-3s? N/A ¢
Vapour residence time min. 2-3s? N/A ¢
Contacting pattern b co-current cross- / co-current
Bed material pure catalyst catalyst/sand mixture
Regeneration method turbulent fluid bed turbulent fluid bed
regenerator regenerator
Solids transport mechanism carrier gas + gravity mechanical + gravity +
solid pumping

*Depending on the length of the riser and the velocity of the carrier gas.
® Contacting pattern of primary pyrolysis vapours and the catalyst.

¢Is a function of the length and the turning frequency of the auger screw.
4 Is a function of the velocity of the vapours/carrier gas.

7.3.1.6.2 Reactor technology suitable for ex situ operation

In ex situ CFP of biomass, any type of proven fast pyrolysis reactor, capable of being
run continuously, can be used as the non-catalytically operating fast pyrolysis reactor (e.g.
fluid bed, auger, rotating cone). The main purpose of this primary fast pyrolysis reactor is to
allow a maximum degree of biomass devolatilization, possibly with longer biomass residence
times (e.g. auger reactor). It should have a design that allows shorter vapour residence times
to prevent secondary vapour reactions. Generated primary pyrolysis vapours are then
transferred immediately to the ex situ reactor; that could be the riser of a circulating catalyst
system (Fig. 7.4). Similar in FCC units in petroleum refineries where the hot petroleum
vapours are fed to the riser section of the system, hot primary pyrolysis vapours could benefit
from the same idea. This option would prevent the physical contact of biomass ash and the
catalyst with each other, and thus the catalyst deactivation due to the ash accumulation on the
catalyst could be completely prevented. Moreover, the mismatch in time-scale of biomass
devolatilization and vapour reforming/catalyst deactivation is avoided.

Alternatively, instead of relying on commercially available catalysts, one could consider
to design a dedicated catalyst for hot vapour treatment, based for instance on monoliths or
packed reactor columns. While the risk of plugging may be limited, the operation of a
monolithic reactor may have many other serious problems to overcome, related for instance to
the requirement of frequent regeneration.
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catalytic fast pyrolysis of biomass. The fast pyrolysis reactor is an auger type while the ex situ
reactor is a FCC-like circulating system.
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7.3.2  Heat integration

The primary decomposition reactions in biomass pyrolysis (i.e. the breakdown of
cellulose, hemicellulose and lignin into vapours) are endothermic — and these reactions are not
affected by the presence of a heterogeneous catalyst. Further reactions in the vapour phase,
both those in the presence of a heterogeneous catalyst (catalytic pyrolysis) as well as those
without (non-catalytic pyrolysis), could be endothermic or exothermic. A certain degree of
energy input is required to heat the cold biomass feedstock up to the reaction temperature
(including moisture evaporation and biomass devolatilization) and for the multitude of
individual endothermic chemical reactions that occur during pyrolysis (e.g dissociation
reactions of biomass bio-polymers; cellulose, hemicellulose and lignin). The challenge for
engineers is to configure pyrolysis technologies allowing for an efficient heating of the
feedstock while minimising energy losses through a proper heat recovery.

The degree of heat integration highly affects the continuity, economy and efficiency of
the process. In a pyrolysis process, the combined effect of heating the feedstock and
supplying the reaction heat is defined as the heat for pyrolysis [238]. Being an essential
design parameter for a pyrolysis process, it was estimated to be 1.5 MJ/kg for dry (~10 wt.%
moisture) pine or beech wood [21]. This energy can be generated in a combustor (regenerator)
from the pyrolysis by-products (char, coke on spent catalyst and/or non-condensable gases)
and/or a waste heat boiler in which the non-condensable gases are burned with air at a
constant temperature. The type and the amount of by-products to be utilized for the energy
generation should be well-defined for an energy efficient process. Any surplus heat can be
used to produce steam and/or electricity for internal use in the first place, or for sale if
necessary. Low temperature waste heat is still useful for drying of the biomass feedstock to
the required moisture level of ca. 10 wt.%.

To provide the process heat necessary for CFP, burning an amount equal to the 12 % of
the carbon of the biomass feedstock was calculated to be sufficient [85]. In conventional fast
pyrolysis, char is typically about 15 wz.% of the products but contains ca. 25 % of the energy
of the biomass feed [29] and is more than enough to run the pyrolysis process [21]. On the
other hand, non-condensable gases contain ca. 5 % of the energy in the biomass feed [2§],
which alone is not sufficient to provide the heat for pyrolysis. When the char is used to drive
the process energetically, a part of these gases could be recycled to the reactor. Non-
condensable gases (contains a certain amount of H,) have the potential to be consumed by the
catalyst for hydrocarbon production, and could thereby suppress the coke formation and
increase the retention of hydrogen in the liquid product. Alternatively, they can be burned in a
waste heat boiler to contribute to the energy surplus or can be fed to a hydrogen plant as a
feedstock as well [71]. In order to keep the CFP process as economical as possible, it is
preferred to recycle all the catalyst back into the reactor after a regeneration step. As
mentioned earlier, the catalyst can be in its pure form or mixed with an inert solid material
(e.g. sand) with similar particle properties to that of the catalyst. One benefit of the
recirculation is that the catalyst (or the catalyst-inert solid material mixture) remains hot and
thus transfers the heat to the freshly introduced biomass. Another benefit is that, the expensive
heterogeneous catalyst can be used multiple times after being regenerated (successive
reaction/regeneration steps).
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Table 7.2 shows the energy yields in the CFP product fractions obtained from three
different setups with respect to different process modes. The energy yields were calculated
based on the heating values and the yields of catalytic fast pyrolysis products and the heating
value of the biomass feedstock. Only the results obtained in continuously operated setups,
wherein (H-)ZSM-5 catalysts were used, were included. Paasikallio ez al. [219] performed the
CFP of pine sawdust in VTT’s 20 kg-h™ Process Development Unit using spray dried HZSM-
5 catalyst. Based on the provided data included in their article, the overall energy yield of the
process was calculated to be more than 92 %. This value excludes the non-available data for
non-condensable gases. In their work, ca. 47 % and 45 % of the energy in the feedstock was
recovered in the CFP-oil and in the char/coke, respectively. Iliopoulou et al. [239] performed
in situ CFP of a commercial lignocellulosic biomass (Lignocel HBS 150-500) originating
from beech wood with ZSM-5 catalysts (diluted with a silica-alumina matrix). This
continuously operated setup included a circulating fluidized bed reactor. Based on the given
data, the overall energy yield was calculated to be 93 %, of which 53 %, 3 %, and 37 % of the
energy is distributed to the CFP-oil, non-condensable gases, and char/coke, respectively. It is
important to notice that, the yields of char and coke were reported as combined in these
studies. Therefore, it is not possible to comment on the individual energy contents of char and
coke. Moreover, this char/coke combination was assumed to be 100 % carbon; but in fact
both char and coke contain significant amounts of hydrogen and oxygen in their structure and
the resulting HHV (higher heating value) is lower than when assumed a pure C-based solid
product. This could cause some errors in the calculation of the energy balances. Yildiz et al.
[100] performed in- and ex-situ CFP of pine wood with ZSM-5 based acidic zeolite in a
continuously operated lab-scale setup. The setup consists of an auger reactor as the in situ
reactor and a moving bed (co-current) reactor as the ex situ reactor. The calculated overall
energy yields are 72 % and 80 % for in situ and ex situ operations, respectively. The non-
closure in the energy balance is presumably caused by the analytical errors in the sampling for
elemental analyses of the collected liquids. However, the energy yields of non-condensable
gases, char, and coke provide clear indications regarding the heat integration of the system. In
both operation modes, non-condensable gases contain 4-5 % of the energy. On the other hand,
char contains 27 % and 33 % of the energy for in situ and ex situ modes, respectively. In both
operational modes, coke contains 8 % of the energy in the biomass. These results show that,
the combustion of by-products of the CFP process is more than sufficient to run the process
autothermally.
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Table 7.2. Heating values and the yields of catalytic fast pyrolysis products obtained from
previously published experimental data and calculated energy balances with respect to
different process modes (a. in situ, and b. ex situ).

a. Results of in situ experiments performed in continuously operated setups using (H-)ZSM-5

catalysts:

o Paasikallio et al [219], circulating fluidized bed reactor with 20 kg/h biomass intake:

Energy balance
MJI/kg Energy yield, %
Heating values Yields
[MJ/kg] [wt.% on feed] In Out In Out
Pine wood 20.4 - 20.4 100
CFP-oil 29.7% 32 9.5 46.6
Water - 19° - ,
NCG's N/A 21 N/A N/A
Char/Coke 344 27 9.2 45.0
Total 929 20.4 18.7 100 91.6

o [liopoulou et al. [239], circulating fluidized bed reactor with 0.33 kg/h biomass intake:

Energy balance

MJI/kg Energy yield, %
Heating values Yields

[MJ/kg] [wt.% on feed] In Out In Out
Beech wood 16.4° 16.4 100
CFP-oil 34.1° 25.4 8.7 52.8
Water - 23.4° - -
NCG's ~1.5°¢ 333 0.5 3.1
Char/Coke 34 17.9 6.1 37.1
Total 100 16.4 15.3 100 93.0

o Yildiz et al. [100] (see Chapters 3 and 4 in this thesis), auger reactor with 0.2 kg/h
biomass intake:

Energy balance
MJI/kg Energy yield, %
Heating values Yields
[MJ/kg] [wt% on feed] | ™ Out | In  Out
Pine wood (a.r.) 16.8° 16.8 100
CFP-oil 33.6° 16.3 5.5 32.6
Water - 34° - -
NCG's 3.1° 24.7 0.77 4.6
Char 28.2¢ 16.2 4.6 27.2
Coke 18.5 %¢ 7.1 1.31 7.8
Total 98.3 16.8 12.1 100 72.2
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Table 7.2. continued.

b. Results of an ex sifu experiment performed in a continuously operated auger reactor using a
ZSM-5 catalyst:

e Yildiz et al. [100] (see Chapters 3 and 4 in this thesis), auger reactor with 0.2 kg/h
biomass intake as the fast pyrolysis reactor and moving bed reactor (co-current flow) as
the ex situ catalytic reactor:

Energy balance
MJ/kg Energy yield, %
Heating values Yields

[MJ/kg] [wt.% on feed] | ™ Out | In Out
Pine wood (a.r.) 16.8° - 16.8 100
CFP-oil 34.1° 16.7 5.7 339
Water - 342° - -
NCG's 30°¢ 23.9 0.72 4.3
Char 30¢ 18.7 5.6 33.4
Coke 18.5 ¢* 7.1 1.3 7.8
Total 100.6 16.8 13.3 100 79.4

* Calculated based on Milne formula: HHV = 338.2*C + 1442.8*(H-(0/8)) [MJ/kg]. In Milne et al. [196]

® Based on the results of Karl-Fischer analyses.

¢ The composition of NCG’s are derived from micro-GC analyses. The heating value of NGC’s was calculated
by: LHVyeg = (30.0 x CO + 25.7 x H, + 85.4 x CH, +151.3 x C,;H,,) x 4.2 and converted into MJ/kg. In
Ioannidou et al. [190]

CHHV g = 0.34 x %C + 1.4 x %H - 0.16 x %0, [MJ/kg]. In Toannidou ez al. [190]

¢ Coke refers to coke on catalyst. The elemental composition of coke was obtained (the given values were
averaged) from Williams and Horne [195].

f Char/coke is assumed to be 100 % carbon.

N/A: Not available

7.3.3 Process alternatives

The distributed thermochemical processing model based on fast pyrolysis of the
feedstock at its source, and subsequent centralized product collection/utilization elsewhere,
requires easily operable, small to medium scale, on-site process equipment [57]. The core
elements in a continuously operating CFP factory are: pre-treatment unit (feedstock grinding,
leaching, and drying), feedstock and catalyst conveying systems (including recycling
systems), the reactor, heat production systems (combustors, boilers), vapour condensation
system (condenser), and char/ash removal/separation systems (e.g. cyclones, filters) [26].
Catalytic fast pyrolysis essentially involves a reactor technology (see section 7.3.1.6) which
allows the catalyst to be regenerated and recirculated. Heat generation within the CFP process
can be attained by various process alternatives as shown in Fig. 7.5. This figure contains
schematic drawings of some possible process alternatives for CFP of biomass (a, b, ¢ and d)
based on the considerations above:
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The process operates in in situ mode. The solid stream exiting from the CFP reactor
is burned with air in a regenerator to revive the catalyst and deliver the heat for
pyrolysis. Depending on the used reactor technology, this solid stream is composed
of spent catalyst or a spent catalyst-sand mixture (both contain a considerable
amount of heterogeneous coke), and char. The regenerated catalyst (or the catalyst-
sand mixture) is recycled back to the CFP reactor. Steam pipes are installed in the
regenerator in order to control the regeneration temperature and produce steam
from the energy surplus (Qseam). Special attention should be given to the
accumulation of biomass derived minerals (AAEMs) within the system. A solution
for this may be to wash the biomass feedstock with water and/or an acidic solution
(i.e. leaching) and remove the minerals in this way before the biomass is fed to the
reactor. The pyrolysis vapours leaving the reactor through the cyclone(s) are
quenched in the condenser to form the liquid product. If necessary, the liquid
product can be filtered in order to remove the fine particulates. This liquid is fed
through a liquid phase separator (e.g. centrifuge) wherein the aqueous and the
organic liquid phases (CFP-oil) are separated. Aqueous phase can be used for
biomass leaching or can be used for instance as a feed for (supercritical water)
gasification or reforming units. The non-condensable gases (NCG) are fed to a
waste heat boiler wherein they are burned together with the regenerator off-gases
and excess air to produce energy (Quwaste heat boiler)- Alternatively, a part of these gases
can be recycled to the reactor — but the pressure increase in the system should be
well-controlled. The energy produced in this configuration may exceed the amount
of energy necessary for the process. In that case, the surplus amount of the energy
(in the form of steam or electricity) can be sold to the market.

The process operates in in situ mode. Char is collected via a char separator rather
than being burned in the regenerator and considered as a secondary product of the
process that is sold on the market as a solid fuel or as a biochar for soil
improvement. This separation prevents the accumulation of the biomass ash within
the system. In the regenerator, the char-free spent catalyst, which contains a
considerable amount of heterogeneous coke, is burned with air. The regenerated
catalyst is then recycled to the CFP reactor. The non-condensable gases leaving the
condenser and regenerator off-gases leaving the regenerator are fed to a waste heat
boiler to deliver the heat for pyrolysis. In case of an energy deficit, some of the char
and/or biomass feedstock can be burned. However, this would require a separate
combustor, because ash containing char and biomass cannot be burned together
with the catalyst. It would make the system more expensive. Alternatively, burning
some excess natural gas in the waste heat boiler could be considered.

The process operates in in situ mode. All produced non-condensable gases are fed
to the regenerator where they are combusted. This option eliminates the costs for
the installation of a waste heat boiler. Char is collected and considered as a product
of the process. The spent catalyst carrying the heterogeneous coke is transferred to
the regenerator where the coke combustion contributes (together with the non-
condensable gas combustion) to the production of process heat. The energy that is
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acquired from the hot exhaust gases (Qexhaust gases) an be added to energy surplus or
used for the drying of the feedstock materials (particularly in case the biomass
feedstock that is very wet).

d. The process operates in ex situ mode. The stream of solids (sand and char) exiting
from the primary fast pyrolysis reactor (non-catalytic) is burned with air in the
combustor to deliver the heat for pyrolysis. Ash is removed by the flue gas from the
combustor passing through a cyclone and the ash-free sand is recycled back to the
pyrolysis reactor. The primary pyrolysis vapours leaving the reactor are fed to the
catalytic reactor (ex situ reactor). The solid stream exiting from the catalytic reactor
which is composed of spent catalyst (including the heterogeneous coke) is burned
with air in the regenerator to deliver the heat for pyrolysis. Regenerated catalyst
(ash-free) is recycled back to the catalytic reactor. The non-condensable gases
leaving the condenser, as well as the combustor and regenerator off-gases are fed to
a waste heat boiler to deliver the heat for pyrolysis. Optionally, a part of the non-
condensable gases can be recycled to the reactor(s). If the produced amount of
energy exceeds the required heat for pyrolysis, the surplus amount of the energy (in
the form of steam or electricity) can be sold to the market.

Based on the process alternatives discussed above, a process scheme for the CFP of
woody biomass is proposed in Fig. 7.6. In this scheme, ex situ processing mode is selected in
a way that the catalyst and the vapours are practically not affected from the biomass
originated minerals.
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Fig. 7.5. Considered continuously operated process options for CFP. (a), (b), (c): in situ
process alternatives, (d): ex situ process alternative.

* Depending on the selected reactor technology, the catalyst can be mixed with inert solid
material.
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7.4 Conclusions

While the bulk of the past research concerning the catalytic fast pyrolysis (CFP) of
biomass has been focussed on catalyst screening, there is an urgent need for process design
related research addressing key issues like the catalyst type suited to the requirements of the
continuous processes, the most suitable reactor technology, and the way of heat integration of
the process. In order to obtain the target products in CFP of biomass with desired yields and
compositions, the process conditions such as the processing mode (e.g. in situ, ex situ), the
reaction temperature, heating rate and the residence time of the biomass feedstock, catalyst-
to-biomass ratio, and the vapour residence time need to be optimized precisely. Moreover, a
careful selection of the biomass feedstock (including its particle size, moisture and ash
contents), and the type of the catalyst (e.g. resistance to deactivation) is essential.

In CFP of biomass, the main problem to be dealt with is the presence of the biomass
originated alkaline ash which destroys and physically swamps any catalyst utilized in the
process. Practically, the direct physical contact between the catalyst and the biomass must be
prevented in order to achieve a successful operation. Hence, prior to scaling up this
technology to a commercial level, this particular problem should be clearly identified and
solved. One suggestion might be the utilization of the ex situ processing mode wherein a
separate catalytic reactor is used for reforming the primary pyrolysis vapours. In this way, the
periodic regeneration of the spent catalysts (refers to the removal of the coke on catalyst by
oxidative treatment) can be conducted in the absence of char (contains the vast majority of the
biomass ash), and thus prevent the accumulation of biomass originated ash in the catalytic (ex
situ) reactor.

From an economic point of view, CFP installations should be self-sustaining while any
surplus energy should be used as efficiently as possible. This requires proper heat integration.
To this end, the utilization of any by-products (i.e. char, coke on catalyst, non-condensable
gases) for the heat generation is necessary. More research is needed in order to understand the
effects of different process parameters and to optimize heat balance of the CFP system.
Careful design of the product recovery is needed to ensure product stability and mitigate
fouling. Moreover, effective removal of solids from the product liquid is crucial to overcome
the negative effects on downstream integration.
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Summary, main
conclusions, and remarks

Crude pyrolysis oil (bio-oil), the liquid productbtained from non-catalytic fast
pyrolysis of lignocellulosic biomass, is a mixtwkhundreds of different, oxygen containing
organic compounds. The presence of oxygen in bBg<{oa. 35-40wt.%) is commonly
believed to be the origin of problems including isgh water content (15-30 %),
corrosiveness (pH of 2-3), relatively low heatingilue compared to fossil fuelsal 17
MJ/kg), poor volatility, and high viscosity (35-1D@P at 40 °C). However, while realizing
that second generation bio-fuels may contain dSicanit amounts of oxygen (like in ethanol or
methanol), it is postulated here that not the orygeelf is a problem, but the way in which
the oxygen is present in the bio-oil. If the quabf the bio-oils should be steered, whether or
not in combination with a certain degree of oxygemoval, that would include a selective
transformation of the oxygen functionalities intbesired’ or acceptable ones like alcohols
and ethers. Undesired chemical compounds are thibiséhighly reactive functional groups,
e.g. carboxylic acids, aldehydes, ketones. A key idsuege learnt, by proper bio-oil analysis,
Is the quantity of these oxygen containing groupss@nt in the bio-oil, and how their
presence can be changed selectively. Certain catitis of different oxygen functionalities
like acids/alcohols or alcohols/aldehydes are alsdesired as they can easily lead to
polymerization reactions. All this leads to the dosion that steering of the oxygen
functionalities should be the main concern in udgra of pyrolysis oils, next to a reduction
of the oxygen content.

In any scenario for the production of upgradeddils-from biomass materials, the goal
is usually to produce either high yields of tram$gtion fuel compoundse(g. aromatics,
olefins) and specialty chemicale.d. phenolics), or just a drop-in refinery feedstookbe
blended with the feed streams of existing petroleefimeries. It has already been recognized
in the early days of fast pyrolysis R&D that theplgation of catalysis could be of major
importance in controlling the quality and the chemhicomposition of the bio-oil. For this
purpose catalytic fast pyrolysis (CFP) of biomassich is a single step process based on the
use of heterogeneous catalysts in the fast pyslysicess, can be put in service. In CFP of
biomass, the catalysts react with biomass derivedgpy pyrolysis vapours at atmospheric
pressure. The process intends to improve the gualithe liquid product byt) the cracking
of high molecular weight compounds to smaller orbis; can reduce the average molecular
weight of the liquid producij) steering the vapour phase reactions with redpecites and
selectivity. Hence, the reactions that cause agdanoxygen functionalities can be induced,
while the acidity, density, and the viscosity ot thquid product (predominantly organic
phasej.e. CFP-oil) are together modified. This way, the itjproduct can be deoxygenated
to a great extent while its stability and calor¥i@lue is increased. It would thus become more
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similar in chemical composition to current gasolered diesel fuels than the conventional
crude bio-oil.

While the literature on the catalytic fast pyrof/of biomass-mainly focussed on
catalyst screeningis rapidly expanding, there is an urgent need tha translation of
laboratory results to viable process concepts alod jplant trials by addressing key issues
like the most suitable processing mode, the reat#ohnology, and the way of heat
integration of the process. The present thesisudgss the catalytic fast pyrolysis of
lignocellulosic biomass in a process oriented whgt tmay initiate a useful process
technology development in the near future. The Ifig@al is to come up with
recommendations and suggestions on how to redligeédchnique at a commercial/industrial
scale. That requires a better understanding ofptieeise effects of the essential process
parameters gg. processing mode; in- or ex situ) and design elesnéd. reactor type,
catalyst type) on the one hand, and definitions anttomes of possible obstaclesg(
successive regeneration of the catalyst, effebtarhass ash) on the other.

The purpose of CFP of biomass

The main target of catalytic fast pyrolysis of logellulosic biomass is to selectively
transform the liquid product by cracking and decetyafting it as much as needed while
minimizing the coke formation on the catalyst. Degieag on the catalysts used and the
process conditions applied, varying degrees of ygemxation can be achieved via
simultaneous decarbonylation (CO rejection), demgylation (CQ rejection) and
dehydration (HO forming) reactions. Obviously, oxygen removal dighydration is in turn
less desirable than G@r CO formation in order to preserve the highlermgetic carbon—
hydrogen bonds in the bio-oil constituents and atspreserve hydrogen for the catalyzed
hydrocarbon forming reactions. In the case of demaylation, a single carbon atom is
consumed to remove each oxygen atom, whereas riin@ve¢ of oxygen in the form of GO
would be the most preferable route because in Hegglation two oxygen atoms are
removed while only a single carbon atom is consun@amplete deoxygenation however,
would result in producing only hydrocarbons (ortjogrbon in the worst case) at a very low
yield. Hence, catalysis should be applied rathettHe stabilization of the liquid product by
controlling the molecular size distribution (crany) andsteering the oxygen functionalities
resulting in the production of certain fuel compdsnor chemicals (aromatics, alkanes,
phenols, alcoholstc.) in the produced liquid.

The process yields a liquid product composed ofvasesyiz. an aqueous phase (rich
in water and acids) and a heavy phase rich iniggjt deoxygenated organic compounds
(i.e. CFP-ail). In principal, the latter can be usedctefeed a fluid catalytic cracking unit
(FCC) in existing petroleum oil refineries; furtien-)processing in such a unit would at least
require a significant degree of deoxygenation agdal miscibility with the regular refinery
feedstock. That would enable the production of dropydrocarbon fuels without building a
separate bio-oil refinery. Hence, in a CFP processsideration should be given to the
production of liquid intermediates with improvedygital and chemical properties instead of
finished fuels.
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It should be noticed that the development of CFR igs infancy in comparison with
other thermo-chemical technologieg( gasification), and the required product speciiorat
are still fairly undefined. The selection of a ¢gda for instance, is determined in the first
place by the requirements imposed by any futurer wdethe liquid product. Such
requirements could be assigned according to taigetn e.g. the degree of deoxygenation
and/or the production of target chemical compoundsigh yields. In order to obtain target
products in CFP of biomass with desired yields emdpositions, the influence of theactor
type, theoperation mode (e.g. in situ, ex situ), anthe type andthe performance of a catalyst
(e.g. resistance to deactivation) in the specified precemditions should be well defined.

Reactors

In this study, we used two types of continuousleraped (catalytic) fast pyrolysis
reactors,viz. an auger reactor and a mechanically stirred bedtoe Both setups were
validated by performing several non-catalytic aathlytic experiments.

The first part of the experimental work (discussedhapters 3 & 4) was concerned
with the operation and the validation of a fullyntmlled mini-plant (0.5 kg/h intake) based
on auger reactor technology. This mini-plant wasigteed to allow three types of biomass
fast pyrolysis experimentsjiz. non-catalytic, in situ catalytic fast pyrolysisndaex situ
upgrading of non-catalytic fast pyrolysis vapoussrbeans of a downstream, moving-bed
catalytic reactor. It allows a stable operation emd wide range of process conditions to
maintain high mass balance closures and good repitaitity of the experiments. The product
yields obtained were in-line with literature daba lignocellulosic biomass fast pyrolysis.

The second part of the experimental work (discussé€hapters 5 & 6) was concerned
with the design, construction, and operation aifilyy fcontrolled, continuously operating lab-
scale pyrolysis set-up (0.2 kg/h intake). Thisigetvas designed to allow non-catalytic and in
situ catalytic pyrolysis experiments. The uniquatdee of the this reactor is that it contains a
specially designed mixer (ribbon type) that enswesniform mixing of the bed contents
(catalyst and sand) without any segregation. Hetiee,inert gas flow could be reduced
(lower than the minimum fluidization velocity,-k) which in turn improves the condensation.

The operation mode

Based on the location of the catalyst in the proc€&P of biomass can be performed in
two different operation modegiz in situ and ex situ. In the in situ mode, the @E€RBurs in a
single reactori(e. in situ reactor) where the biomass feedstock hactatalyst are physically
mixed to enable a good contact between the two.pfineary fast pyrolysis vapours, released
after the thermal decomposition of biomass padickre reformed by the catalysts during
their mutual contact time. In the ex situ mode be bther hand, the primary pyrolysis
vapours produced inside the first reacta fion-catalytic pyrolysis reactor) are transferied t
a secondary reactor.€ ex situ reactor) where they are contacted wihd thus reformed
by- the catalyst.
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To test the effect of the operation mode on thelpcoyields and compositions of CFP
of biomass, we performed in- and ex situ catalfd&t pyrolysis of pine wood in an auger
reactor with a single type of heterogeneous ZSMaSell acidic catalyst while the non-
catalytic results were taken as reference. Theimratemperature and the catalyst-to-biomass
ratios were kept constant at 500 °C and 5, resmdygtboth for in- and ex situ operation
modes. The application of the catalyst resulted significant decrease in the overall liquid
yields; they decreased from 58M.% (the reference non-catalytic case) to 5@t%6 and
50.1wt.%, for in- and ex situ respectively. The yieldsoofanic fractions of liquids in both
cases were similarcd. 17 wt.%) and lower than that obtained from non-catalyast
pyrolysis (37wt.%). For ex situ CFP of biomass, the decrease afyibll was marginal (0.2
wt.%) compared to the non-catalytic fast pyrolysis.wdweer, a significant decrease (2.3
wt.%) of char yield was observed for the in situ maiths was ascribed to the higher mass
ratio of heat carrier-to-biomass that results irhigher conversion (devolatilization) of
biomass particles into vapours. In situ CFP led tdgher yield in gas products than ex situ
CFP (26.20m.% vs. 23.90.%), while the ex situ CFP led to a slightly higleeke deposition
on the catalyst (7.8t.% vs. 7.1wt.%). Both in situ and ex situ CFP led to effective/gen
removal and the conversion of high-molecular weighmpounds to lower ones. The use of
in- and ex situ catalysis resulted in a removatefectable sugars and aldehydes. In both
cases, the concentration of organic acids was dsedewhile in situ CFP resulted in much
higher selectivity to phenols and aromatic hydrboas than that of ex situ CFP. Moreover,
compared with the in situ mode, ex situ mode coreslifess catalyst (more than a factor of 2)
to reach the same catalyst-to-biomass ratios dubetovariations in the catalyst feed rates.
However, the overall performance of in situ catialys terms of oil quality was considerably
better. Future research could focus on testingtfeet of the operation modes on the product
yields and compositions of CFP of biomass with eespgo different reactor temperatures,
catalysts, and catalyst-to-biomass ratios.

* All yields were reported based on biomass we(gktreceived).

Evaluation of the performance of various catalysts

We performed the screening of metal doped heteemgen catalysts (and their metal
doped counterparts) in in situ catalytic fast pysad of pine wood. The experiments were
performed in a continuously operated auger readté600 °C. This work was meant to assess
the efficiency of various catalysts in terms ofithmapability to deoxygenate the pyrolysis
vapours, and observe their potential to producegad mixture that could be used as a
renewable feedstock in petrochemical industriestolal, eight proprietary catalysts were
tested. They were divided into three groups basetheir acidity, type of carrier, the active
metal they contain, and according to being ageflesh. The results obtained from catalytic
tests have been compared to each other and toatalyc control experiments performed
with sand. The main objective was to find the lpsforming catalysts capable of retaining
the amount of the organic liquid products as mushpassible with a minimum water
production, and also achieving an effective reaunctf the acidity during in situ catalytic fast
pyrolysis of pine wood.

170



The presence of catalysts led to the producticedditional water, coke and gases at the
expense of the liquid organics and char. HoweVer,quality of the obtained liquid products
was altered in various ways depending on the csttiype and its active metal content; HHV
of the organic phase increased in the range of 1® %/ % while the total acid number
(TAN) obtained from sand experiments decreased ft6f1down to values ranging between
77 and 4. For all catalysts, the acidity of CFB”-ag#markably decreased with an increased
deoxygenation. In order to determine the perforrearaf the catalysts tested under identical
process conditions, two separate evaluations weadkerbased on various defined criteria. The
considered criteria were the deoxygenation by, (e preferred route for deoxygenation),
the yield of organic liquid phase, H/C ratio of tbheganic liquid phase, O/C ratio of the
organic liquid phase, coke yield, the productiomes$irable compounds, energy content in the
organic liquid phase, and the percentage of thectidile components in the organics.

It is important to notice that the market for thregucts of CFP of biomass is not clearly
specified and the definition of product specifioas are lacking at this stage of the
technology development. Hence, although subje@nd depending on the target application,
the order of the weight factors was determined dbaséher on the deoxygenation
requirements or on the production of desirable caumgs in high yields (Tables A.4.2.1a &
A.4.2.1b in Appendix 4.2). Among all catalysts, thedic catalyst containing some redox
active metal, the basic catalyst with a mixturetwd metal oxides (calcined), and a metal
oxide doped gamma-alumina catalyst (calcined) viened to be the best performing ones.
The catalysts were also tested on a micro-scalegusipy-GC/MS system. The py-GC/MS
results were found to be only partially indicatiee the performance of a catalyst in CFP. An
optimally configured py-GC/MS can be used as adragireening tool prior to the time
consuming larger scale CFP experiments only ippp&C/MS is quantitatively calibrated for
a number of well-defined specific compounds of ies¢. For the exact determination of the
deoxygenation performance as well as to assessothplete composition and quality of the
bio-oil, larger scale catalytic experiments araspdnsable.

Lifetime and deactivation of a catalyst

One of the problems in CFP of biomass, hardly dised in the literature, is the rate
and extent of catalyst deactivation that affects tifietime of the catalyst negatively.
Deactivation implies the physical, chemical, thefnand mechanical degradation of the
catalyst leading to a reduced activity and seld@gtiwarious mechanisms causing catalyst
deactivation are known, such as fouling, poisonatgijtion, and dealumination. In catalytic
fast pyrolysis of biomass, deactivation can be tgaattributed to coke deposition, which
blocks the pores and thus the active sites of s=oliSome degree of deactivation by
deposition of contaminants (alkali and alkali eartétals; AAEM’s) originally present in the
biomass cannot be excluded either (poisoning).

Like in conventional FCC (fluid catalytic crackingyocessing of petroleum oil, the
catalysts deactivated by coke can be reused inRapEécess after being regenerated. In FCC
regeneration, the catalyst is subjected to higtptature oxidative treatment to burn the coke
off from the catalyst and thereby (partially) restits activity. In biomass CFP however, the
coke-on-catalyst contains some oxygen and hydroBemeneration of the catalysts thus
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yields water, apart from only GQCO+CQ), which for ZSM-5 and similar structured
catalysts could lead to dealumination, and thus &dsactive (acid) sites. We investigated the
effect of a repeatedly regenerated ZSM-5-basedysati@ight reaction/regeneration cycles in
total) on the yields and compositions of the pys@yproducts in relation to the applied
process conditions and on the catalyst itself. Erpants were performed at 500 °C in a
mechanically stirred sand bed reactor using pinedaas the biomass feedstock. Along the
reaction/regeneration sequence, the yield of oogamcreased, while water, carbonaceous
solids, and non-condensable gases decreased. Tirepgisolysis product yields converging
to that of non-catalytic levels were observed, Wwhievealed that the activity, and thus the
influence of the catalyst slowly declined. The mabservation was that the catalyst partially
loses its activity (BET surface area reduced by®3in terms of the product distribution
along the reaction/regeneration sequence, whiteniag sufficient activity in producing the
target chemical compounds.d. aromatics). New catalyst formulations, vapour ghas
treatment (ex situ CFP) instead of in situ catalyisnproved catalyst regeneration procedures,
application of other temperatures, and optimizatainspace velocities are all possible
strategies to further improve the result of thalyaic fast pyrolysis process.

Through successive cycles of pyrolysis and catabgtneration, a considerable amount
of biomass originated mineral matter (in the forfmash) accumulates in the CFP process.
This could potentially affect the chemistry of tbatalytic pyrolysis as well as the stability
and/or the activity of the catalyst. To understéimel role of indigenous and added inorganic
compounds in CFP of biomass, and the potentiatatdiyst interactions that may take place
in CFP, we investigated the influence of them andlstribution and composition of products
resulting from the primary and secondary fast pysisl reactions. The effects of the pine
wood ash were studied by comparing non-catalytet Gatalytic experiments (using a ZSM-5
based catalyst) with their ash-added counterpddashow the case of ash accumulated from
the biomass feeding, the results of catalytic fgsblysis obtained after eight reaction/catalyst
regeneration cycles were included as well. Ash entrations as low asa. 3wt.% relative to
the amount of pine wood fed, and 0.002wt.% relative to the amount of bed material, were
found sufficient tchave a direct effect on the yield and compositibthe CFP products. To
overcome the drawbacks of biomass as@k#, the char (which contains a vast majority of
the biomass ash) has to be physically removed frentatalyst before the regeneration step.
The biomass feedstock used in this study (pine Wwod low-ash feedstock. With the use of
high-ash containing feedstock, and the larger nurobeeaction/regeneration cycles desired
in future large scale installations, the effecasli will be even more dramatic. Future research
should reveal whether the observed trends willipeadter many more reaction/regeneration
cycles, and how long it takes for the catalystdmpletely deactivate. Strategies to reduce the
mineral burden in the CFP process could extendifdtane of the catalyst.
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Additional remarks

Most of the literature studies concerning CFP afniass deal with the catalyst
screening in small laboratory systems. However etfiecient and the economical use of all
the products of the process, and the operatiomakbarelated to the implementation of CFP
technology at a large scale, are hardly discusBed. thesis, therefore, focussed on various
aspects of continuous operation.

In CFP of biomass, the main problem to be dealh wgtthe presence of the biomass
originated alkaline ash which destroys and physicelvamps any catalyst utilized in the
process. Practically, the direct physical contativeen the catalyst and the biomass must be
prevented in order to achieve a successful operatitence, prior to scaling up this
technology to a commercial level, this particulaolgem should be clearly identified and
solved. A solution may be to separate the biomasisgyrolysis from the catalytic treatment
of the vapoursi(e. ex situ processing mode). Although technicallylleimging and costly, ex
situ operation provides some more flexibility inesting the optimal conditions for catalysis.
In this way, the periodic regeneration of the speatialysts by coke combustion can be
conducted in the absence of char which containgdasemajority of the biomass ash. Hence,
the physical contact between the biomass mineradstlae catalyst is excluded (no risk of
catalyst poisoning by minerals) so that the agtigitthe catalyst is eventually conserved over
a much longer period. This allows the catalyst ® fe-used for larger number of
reaction/regeneration cycles than that of in arsiin operation. However, the quality and
quantity of the CFP-products obtained in the ex gibcessing may be different from those of
in situ processing. The reason for this differenoald be that the catalyst is not contacted
directly with the primary fast pyrolysis vapoursithwvith the vapours that may have changed
their composition during the transfer from the pyse reactor to the catalytic reactor. This
must be investigated more thoroughly.

In general, five major factors influence the CFBgasss:

» the type and the properties of the biomass feekistoc

« the process parameteiise(temperature, heating rate, catalyst-to-feed ratapour
residence timestc.),

« the choice of the reactor technology,

« the operation mode.¢é. in- or ex situ),

» and the type of the catalyst used.

The success of the process is closely relatedetpribcise optimization of these factors
which would yield a maximum quantity of catalyt@ast pyrolysis oil (CFP-oil) of a certain
quality, while minimizing the amounts of by-prodsidt.e. char, coke on catalyst, and non-
condensable gases). Based on these constraintgathlyst design should focus on the
production of cheap catalysts with improved alatifor cracking, deoxygenation, and the
resistance to deactivation. Keeping in mind tha¢ tdatalyst screening in small scale
laboratory setupse(g. pyroprobesmg-scale batch reactors) is not the ultimate targetab
tool for the development of this technology, thestbperforming catalysts in such studies
should be tested in larger scale continuous sed#lipsving longer operations. For that
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purpose, the importance should be given to the design of novel catalytic systems and new
reactor technologies, based on the specific process requirements for catalytic fast pyrolysis
rather than that of conventional fast pyrolysis.
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Supporting Information

Table A.2.1. Literature publications regarding the in situ catalytic fast pyrolysis of
lignocellulosic biomass (published between 1988 — March 2014) with respect to the reactor
type and feedstock type. The reason for overlapping numbers is due to more than one type of

reactor or feedstock type was studied in some publications.

No. of No. of No. of
Olzﬁzz:;:ion appeﬁ:‘ance Reactor type appe;::‘ance Feedstock type appe;:‘ance
publications publications publications

Woody biomass 20

Residual biomass® 4

o b Lignin -

Fluidized bed 24 Cellulose _

Hemicellulose -

Other feedstock ° -

Woody biomass 4

Residual biomass® 5

. Lignin -

Fixed bed 16 Cellulose i

Hemicellulose -

. Other feedstock ° 9
In situ 76 Woody biomass 11
py-GC/MS, Residual biomass® 6

pyroprobes and 27 Lignin 6

benchtop Cellulose 6

pyrolyzers Hemicellulose 1

Other feedstock ° 8
Woody biomass 10

Residual biomass® 7

. Lignin 2

Others 2 Cellulose -

Hemicellulose -

Other feedstock ° 4

* Biomass and the catalyst are physically mixed in the reactor.

® Includes bubbling and circulating fluidized beds.

¢ Reactor types are: Wire mesh captive sample reactor, static bed catalytic reactor, conical spouted bed reactor,
micro-activity test reactor, TGA, TGA/MS, FTIR, quartz (tube) reactor, auger reactor, stainless steel tube,
microwave oven, Curie-point pyrolyzer, down flow quartz reactor.

d Agricultural residues and industrial by-products, including husks, cobs, stovers, peels, stalks, straws, seeds,
grain, bagasse and non-woody biomasses such as mischantus, switchgrass, jatropha and cassava rhizome.

¢ Other feedstock include some model compounds such as glucose, furan, furfural, levoglucosan, methanol,
furfural, glycerol, sorbitol, xylitol, cellobiose, etc.
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Table A.2.2. Literature publications regarding the ex situ catalytic fast pyrolysis of
lignocellulosic biomass (published between 1988 — March 2014) with respect to the reactor
type and feedstock type. The reason for overlapping numbers is due to more than one type of
reactor or feedstock type was studied in some publications.

No. of No. of No. of
Operation appearance Reactor type appeflrance Feedstock type appeftrance
mode in in in
publications publications publications
Woody biomass 8
Residual biomass® 1
Fluidized bed Lignin -
combined with a 9 Cellul
fixed catalyst bed cutose -
Hemicellulose -
Other feedstock © -
Woody biomass 9
Residual biomass® 4
b Lignin -
Tubular fixed bed 14
Cellulose -
Hemicellulose -
o Other feedstock ° 1
Ex situ ? 54 -
GC/MS Woody biomass 8
py_ ’ . : d
pyroprobes and R.esm.lual biomass 8
benchtop 20 Lignin 6
py.rolyzer.s Cellulose 3
combined with a Hemicellulose 2
fixed catalyst bed "
Other feedstock -
Woody biomass 7
Residual biomass® 3
Others - combined Lignin 3
with a fixed 12 Il 5
catalyst bed ¢ Cellulose
Hemicellulose -
Other feedstock ° 1

? Produced non-catalytic pyrolysis vapours flow through a fixed or moving catalyst bed.
® Biomass and catalyst are separated with a quartz wool in the same tubular fixed bed reactor.
¢ Reactor types are: Vortex reactor, quartz micro reactor, TG/MS, TGA, quartz (tube) reactor, stainless steel tube

reactor.

d Agricultural residues and industrial by-products, including husks, cobs, stovers, peels, stalks, straws, seeds,
grain, bagasse and non-woody biomasses such as mischantus, switchgrass, jatropha and cassava rhizome.

¢ Other feedstock are some model compounds such as: glucose, furan, furfural, levoglucosan, methanol, furfural,
glycerol, sorbitol, xylitol, cellobiose, etc.
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Table A.2.3. In situ catalytic pyrolysis studies based on the utilization of microporous zeolites using various types of woody biomasses as
feedstock. Reactor types and process conditions are provided.

Vapour
Catalyst -to-
Entry . a ys- Feedstock Reactor T (°C) Catal?fst to-feed WHSV (h'l) residence time Heating rate Ref/
(Si/Al ratio) ratio (w/w) ©) Year
1 H-ZSM-5 Hybrid poplar Fluidized-bed 450 - 2 1-2 [101]
wood 2010
2 H-ZSM-5 Hybrid poplar Fluidized-bed 500 - 0.5 1 [76]
wood 2010
3 FCC (2.67), P-ZSM- Hybrid poplar Fluidized-bed 475 - 2 3 and 6.5 [102]
5(3.03), ZSM-5 wood 2012
(7.78)
4 FCC, FCC/FeCrCu, Hybrid poplar Fluidized-bed 475 - 2 3 and 6.5 [156]
FCC/CoMo, wood 2012
FCC/FeCrCu/CoMo
5 FCC Hybrid poplar Fluidized-bed 400, 500, - 1,2,3 3,4.5and 6 [82]
wood 600 2013
6 Fresh Y-zeolite Hybrid poplar Fluidized-bed 475 - 2 6 [103]
FCC, steamed Y- wood 2014
zeolite FCC, fresh
ZSM-5 additive,
steamed ZSM-5
additive
7 H-Beta (25), H-Beta Pine wood Fluidized-bed 450 - 1.25 - [125]
(150), H-Beta (300) 2007
8 H-Beta (25), H-Y Pine wood Fluidized-bed 450 - 1.67 5.9 [104]
(12), H-ZSM-5 (23), 2008
H-MOR (20)
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Table A.2.3. continued

Vapour
Catalyst _to- p
Entry . a ys. Feedstock Reactor T (°C) Catal).fst to WHSV (h'l) residence time Heating rate Ref/
(Si/Al ratio) feed ratio (w/w) ) Year
9 FCC, ZSM-5 based  Lignocel HBS 150- Fluidized- 400-500 Solid - <1 - [32]
FCC (10 wt.% USY) 500 (beech wood bed* material/biomass 2002
originated) ratio: 3.5 and 22
for FCC; 2.9, 4.3
and 18 for ZSM-5
based FCC
10 FCC Beech wood Fluidized- 450, 500 16 - - - [64]
bed* 2009
11 ZSM-5 (30) Pine wood Fluidized-bed 600, 675 - 0.1,0.2,0.8, 26 (gas res.time) - [92]
1.7 2011
12 ZSM-5 (15), Pine wood Fluidized-bed 550 - 0.38,0.39, 0.47 - - [157]
silylated ZSM-5 2012
(15), Ga-ZSM-5
(15), silylated
Ga-ZSM-5 (15)
13 ZSM-5 (30), Pine wood Fluidized-bed 550, 600 - 0.35 - - [127]
Ga/ZSM-5 (30) 2012
14 ZSM-5 Pine wood Fluidized-bed 400, 450, - 0.11,0.18, 0.35, - - [105]
500, 600, 0.60,0.97, 1.98 2012
650 (at 600 °C)
15 ZSM-5 Pine wood Fluidized- 600 3,4.5,6,9 (at 0.15,0.3,0.6,0.9 1.36 - [98]
bed* 0.3 wood (at cat./biomass 2014
WHSV) ratio of 6)
16 ZSM-5 Mixed wood Fluidized-bed 500 - 0.48 0.7 - [106]
2013
17 ZSM-5 (11.5), European spruce Fluidized-bed 500 - 2.3,3.1and 4.3 0.8 - [86]
ZSM-5 (25), ZSM-5 2013
(140)
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Table A.2.3. continued

Vapour
Catalyst -to- p
Entry . a ys. Feedstock Reactor T (°C) Catal).fst to WHSV (h'l) residence time Heating rate Ref/
(Si/Al ratio) feed ratio (w/w) ) Year
18 H-ZSM-5 (28) Pine-spruce Fluidized-bed 450 - - - - [158]
mixture 2014
19 ZSM-5 (30) Pine wood Py-GC/MS 600 19 - - 1000 °C/s for [92]
filament 2011
20 H-ZSM-5 (50) Pine wood Py-GC/MS 550 4 and 9 - - 50 °C/s for [52]
biomass, 2000 2011
°C/s for filament
21 Low, moderate and Oak sawdust Py-GC/MS 600 10 - - 30 °C/s for [57]
high acid catalysts, biomass, 2000 2011
dealuminated- °C/s for filament
zeolite Y, B-zeolite,
mordenite
22 ZSM-5 (30) and Maple wood Py-GC/MS 600 19 - - 1000 °C/s for [70]
tartaric acid treated filament 2012
ZSM-5
23 H-ZSM-5 (28), H- Beech wood Py-GC/MS 500 0.1 and 0.4 (for - - - [159]
ZSM-5 (80), SN27 MSM-15 and H- 2011
(24-27), MSN-15 ZSM-5 (80)
(13-15), MSM-15 only)
(13-15)
24 H-USY (10), H-Beta Cedar wood Py-GC/MS 500 land5 - - - [41]
(40), H-Mordenite 2013
(18), H-ZSM-5 (23)
25 H-ZSM-5 (25) with Pine wood Py-GC/MS 600 9 - 50 20000 K/s [160]
different mean 2014
crystal sizes (2um,
200 nm and 50 nm)
26 ZSM-5 (25.5) Beech wood Py-GC/MS 650 10 - - 2000 °C/s for [161]
filament 2014
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Table A.2.3. continued

Catalyst o Catalyst-to- 1 Vapour . Ref./
Entry (SV/Al ratio) Feedstock Reactor T (°C) feed ratio (W/w) WHSYV (h) residence time (s) Heating rate Year
27 H-ZSM-5 (50), Pine wood Py-GC/MS 650 9 - - 2000 °C/s for [162]
Co(5 wt.%)/HZSM- filament 2012
5 (50), Ni(5
wt.%)/HZSM-5
(50), Mo(5
wt.%)/HZSM-5
(50), Pt(5
wt.%)/HZSM-5 (50)
28 H-ZSM-5 (150), H- Pine wood Py-GC-MIP- 500 1 - - - [110]
Mordenite AED 2010
29 H-ZSM-5 Lignocel HBS 150- Packed-bed 500 ~0.5 - - - [69]
500 (beech wood 2000
originated)
30 Low, moderate and Oak sawdust Packed-bed 600 5 - - - [57]
high acid catalysts, 2011
dealuminated-zeolite
Y, B-zeolite,
mordenite
31 Re-USY (1.35), Pine bark Packed-bed 300, 400, 0.05 - - 7 °C/min [163]
ZSM-5 (24) 500, 600 2012
32 Three types of Pine wood Packed-bed 500 0.1 - 4 40 °C/s [164]
faujasite based FCC (Canadian white) 2013
catalysts: Na-FAU,
Nay ,Hos-FAU, H-
FAU
33 ZSM-5 based FCC Pine wood Auger screw* 500 5 - ca. 1 - [100]
2013
34 H-ZSM-5 (24) Pine wood Conical 400, 450, - - 0.5 - [99]
spouted-bed 500 2000
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Table A.2.3. continued

Catalyst o Catalyst-to- -1 Vapour . Ref./
Entry (SV/AI ratio) Feedstock Reactor T (°C) feed ratio (w/w) WHSV (h) residence time (s) Heating rate Year
35 H-ZSM-5 (24) Pine wood Conical 400 2,5,13 - 0.5 - [124]
spouted-bed 2005
36 ZSM-5 (50) Douglas fir Batch 400, 500, 1.32,2, 3, 4, - - 100 °C/min [165]
microwave 600 4.68 2012

oven

* Continuous processes
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Table A.2.4. Ex situ catalytic pyrolysis studies based on the utilization of microporous zeolites using various types of woody biomasses as

feedstock. Reactor types and process conditions are provided.

Pvrolysis Ex situ Catalyst-to- Vapour Ref./
Entry  Catalyst (Si/Al ratio) Feedstock yroly 10 catalytic feed ratio WHSV (h'l) residence time Heating rate §
reactor (T, °C) 5 Year
reactor (T, °C) (w/w) (s)
1 H-Fer (20), Fe-H-Fer Pine wood Fluidized-bed Fluidized-bed 0.11 - - - [132]
(20), H-Y (12), Fe-H-Y (400) (450) 2010
(12),
H-B (25), Fe-H-B (25)
2 ZSM-5 Wood mixture Fluidized-bed Fluidized-bed - 1.05-1.14 0.4 - [107]
(550) (400, 450, 500, 1994
550)
3 ZSM-5 Wood mixture Fluidized-bed Packed bed - - - - [129]
(550) (400, 450, 500, 1944
550)
4 ZSM-5 (50) Wood mixture Fluidized-bed Fluidized-bed 1.16 1 - - [108]
(550) (500) 1995
5 ZSM-5 Wood mixture Fluidized-bed Packed bed - ~2 0.2t00.8 - [128]
(550) (500) 1996
6 H-ZSM-5 (50) Sawdust Fluidized-bed Packed bed - 1to5 - - [51]
(500) (390, 410, 450, 2008
470, 550)
7 H-ZSM-5 (26), H-Y Radiata pine Fluidized-bed Packed bed 0.1and 0.2 - - - [130]
(4), Ga/H-ZSM-5, (475) (450~550) 2007
Ga/H-Y
8 ZSM-5 (25) Radiata pine Fluidized-bed Packed bed 0.1 and 0.2 - - - [130]
(475) (450~550) 2008
9 H-ZSM-5 (50) Pine wood Pyroprobe Packed bed 2and 5 - - 50 °C/s for [52]
(550) (550) biomass, 2000 2011
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Table A.2.4. continued

Pyrolysis Ex situ catalytic  CAtAlyst-to- Vapour Ref./
Entry  Catalyst (Si/Al ratio) Feedstock yroty lo X Sttt oy ! feed ratio WHSV (h'l) residence time Heating rate ’
reactor (T, °C) reactor (T, °C) Year
(w/w) (s)
10 H-Mordenite (20), H- Oak wood Micro Packed bed (550) 5 - - - [109]
ZSM-5 (23, 50, 280), pyrolyzer (550) 2011
H-Y (5.1), H-Beta (23,
38, 360), H-Ferrierite
(20)
11 Re-USY (1.35), ZSM-5 Pine bark Packed-bed Packed-bed (400) 0.05 - - 7 °C/min [163]
(24) (300, 400, 500, 2012
600)
12 H-ZSM-5 (20.1) Radiata pine Packed-bed Packed-bed 0.1 - 5 (in the - [138]
(500) (500) pyrolysis reactor) 2010
13 ZSM-5 Softwood Packed-bed Packed-bed - - 1.5 (in the - [166]
(510) (400) transfer line) 1988
14 Three types of faujasite Pine wood Packed-bed Packed-bed 0.1 - 4 40 °C/s [164]
based FCC catalysts: (Canadian (500) (500) 2013
Na-FAU, Na()'zH()'g- White)
FAU, H-FAU
15 H-ZSM-5 Lignocel HBS Packed-bed Packed-bed ~0.5 - - - [69]
150-500 (beech (500) (500) 2000
wood
originated)
16 ZSM-5 (138), ZSM-5 Lignocel HBS Packed-bed Packed-bed ~0.5 - 0.031 (for FCC) - [147]
(90), ZSM-5 (61), FCC  150-500 (beech (500) (500) 2011
wood
originated)
17 ZSM-5 (25) Lignocel HBS Packed-bed Packed-bed ~0.5 - <0.1 - [167]
150-500 (beech (500) (500) 2011
wood
originated)
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Table A.2.4. continued

Pvrolvsis Ex situ Catalyst-to- Vapour Ref./
Entry  Catalyst (Si/Al ratio) Feedstock yroy o catalytic feed ratio WHSYV (h) residence time Heating rate ’
reactor (T, °C) Year
reactor (T, °C) (w/w) (s)

18 ZSM-5 (80), Lignocel HBS Packed-bed Packed-bed ~0.5 - <0.1 - [131]
Ni(1%)/ZSM-5, 150-500 (beech (500) (500) 2012
Ni(5%)/ZSM-5, wood

Ni(10%)/ZSM-5, originated)
Co(1%)/ZSM-5,
Co(5%)/ZSM-5,
Co(10%)/ZSM-5
19 ZSM-5,Y and SAPO Aspen wood Tubular quartz Tubular quartz - 4 - - [59]
type zeolites, metal micro reactor micro reactor 2010
modified ZSM-5 (for a (600) (600)
complete list of
catalysts, see the
publication)
20 ZSM-5 based FCC Pine wood Auger screw Moving bed, co- 5 - 3 - [100]
(500)* current contact 2013

(500)*

* Continuous processes
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Table A.2.5. In- and ex situ catalytic pyrolysis studies based on the utilization of mesoporous catalysts using various types of woody biomasses

as feedstock. Reactor types and process conditions are provided.

s . . Catalyst-to- Vapour
Entry Catalyst (Si/Al ratio) Feedstock Pyrolysis (in os itu)  Exsitu cataloytlc feed ratio residence time  Heating rate Ref/
reactor (T, °C) reactor (T, °C) Year
(w/w) (s)
1 Meso-ZSM-5 and tartaric acid Maple wood Semi-batch - 19 - 1000 °C/s for [70]
treated Meso-ZSM-5 pyroprobe (600) filament 2012
2 Desilicated Meso-ZSM-5: ZSM- Beech wood Semi-batch - 10 - 2000 °C/s for [161]
5-0.1M (25.5), ZSM-5-0.2M pyroprobe (650) filament 2014
(25.0), ZSM-5-0.3M (24.0),
ZSM-5-0.4M (21.6), ZSM-5-
0.5M (21.1)
3 Al-MCM-41 (parent and Lignocel HBS Packed-bed (500) - ~0.5 - - [69]
calcined) 150-500 (beech 2000
wood originated)
4 Mesoporous aluminosilicate Oak sawdust Packed-bed (600) - 5 - - [57]
molecular sieve 2011
5 Al, Sn, Fe, Mo, Co, Ti, Zr Pine wood Py-GC-MIP-AED - 1 - - [110]
impregnated on MCM-41 (500) 2010
6 Meso-Beta (13.6), Meso-ZSM-5 Radiata pine Fluidized-bed Packed bed 0.1 and 0.2 - - [137]
(20.1), AI-MCM-41 (475) (450~550) 2008
7 AI-MCM-41 (20), MCM-41 Spruce wood Pyroprobe (450, Packed-bed (450, 1 - - [136]
with spacer, MCM-41 with Cyg, 500) 500) 2005
Cu-Al-MCM-41
8 SBA-15, AlI-SBA-15 (10), Al- Fir wood Pyroprobe (500) Packed-bed (500) 1 - 2000 °C/s for [139]
SBA-15 (20), AI-SBA-15 (35), filament 2009
Al-SBA-15 (70)
9 AI-MCM-41 (20), MCM-41 Spruce wood Packed-bed (500)  Packed bed (500) ~0.5 ~4.5 - [168]
with spacer, MCM-41 with Cyg, 2006

Cu-AI-MCM-41, SBA-15, Al-
SBA-15, FCC
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Table A.2.5. continued

s . . Catalyst-to- Vapour
Entry Catalyst (Si/Al ratio) Feedstock Pyrolysis (in situ)  Ex situ catalytic feed ratio residence time  Heating rate Ref/
reactor (T, °C) reactor (T, °C) Year
(w/w) (s)

10 Meso-ZSM-5 (18.2), Meso- Radiata pine Packed-bed (500)  Packed-bed (500) 0.1 5 (in the - [138]
MFI, 1 wt.% Ga/Meso-MFI, 5 pyrolysis 2010

wt.% Ga/Meso-MFI reactor)

11 Al-MCM-41 (20), AI-MCM-41 Lignocel HBS Packed-bed (500)  Packed bed (500) ~0.5 ~4.5 - [135]
(40), AI-MCM-41 (60), Cu-Al- 150-500 (beech 2006
MCM-41, Fe-Al-MCM-41, Zn-  wood originated)

Al-MCM-41
12 Al-MCM-41 (parent and Lignocel HBS Packed-bed (500)  Packed-bed (500) ~0.5 - - [69]
calcined) 150-500 (beech 2000
wood originated)

13 MSU-S/Hgga, MSU-S/WgEga, Lignocel HBS Packed-bed (500)  Packed bed (500) ~0.5 ~4.5 - [169]

Al-MCM-41 150-500 (beech 2007
wood originated)

14 MCM-41, AI-MCM-41 (30), Al- Lignocel HBS Packed-bed (500)  Packed bed (500) ~0.5 ~4.5 - [133]
MCM-41 (50), AI-MCM-41 150-500 (beech 2007
(30)-steamed at 550 °C, Al- wood originated)

MCM-41 (50)-steamed at 750
oc’
15 Al-MCM-41 (30) Lignocel HBS Packed-bed (500)  Packed-bed (500) ~0.5 <0.1 - [167]
150-500 (beech 2011

wood originated)
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Table A.2.6. In- and ex situ catalytic pyrolysis studies based on the utilization of basic (metal oxides) and metal catalysts using various types of
woody biomasses as feedstock. Reactor types and process conditions are provided.

s . . Vapour
. . Pyrolysis (in situ)  Ex situ catalytic = Catalyst-to-feed . . . Ref./
Entry Catalyst (Si/Al ratio) Feedstock reactor (T, °C) reactor (T, °C) ratio (w/w) res1de?sc)e time Heating rate Year
Basic catalysts (metal oxides):
1 NiMo/Al,03, CoMo/Al, O3, Pine wood, spruce Fluidized-bed - - - - [146]
CoMo-S/Al,05, AL, O3, SiO,, P- wood (Alaskan), (500, 600, 700, 2008
SiO, (porous) lauan wood 800, 900)
(tropical)
2 Co/Al,03, Co/Si0,, ZrO,, Sn0,, Pine wood Py-GC-MIP-AED - 1 - - [110]
Ca0, ZnO, Fe,03, CuO, MoOs, (500) 2010
Ti0,, WO;, MgO, Cu-ZnO-
Z10,/Al,03, Fe-Zn-Cu/Al, O3, Fe-
Cu-Al-Zn/A1203, CO/ZI'O2,
Cu/ZrO,
3 K;PO, Poplar wood, pine Pyroprobe (300- - ~1 - 2000 °C/s for  [170]
wood 600) filament 2013
4 Naturally occuring metal Oak sawdust Pyroprobe (600) - 10 - 30 °C/s for [57]
hydroxide containing mineral biomass, 2000 2011
°C/s for
filament
5 Naturally occuring metal Oak sawdust Packed-bed (600) - 5 - - [57]
hydroxide containing mineral 2011
6 CaO, FeO, Al,0;, MnO, Cr,0;, Sawdust Batch pyrolysis - 0.1,0.2,0.3,04, - - [171]
CuO apparatus (500) 0.5 2003
7 NaOH, Na,CO3, Na,SiO3, NaCl, Pine wood Microwave (470) - 0.1 - - [172]
TiOZ, H3PO4, FG(SO4)3 2008
8 ZnO (0.5% Mg), SiC Pine sawdust Fluidized-bed Packed bed (400) - 0.15 - [142]
(525) 2000
9 Zn0O, ZnO (0.5% Mg), ZnO (15% Pine sawdust Pyroprobe (600)  Packed bed (600) - 0.03 - [142]
alumina) 2000
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Table A.2.6. continued

Pyrolysis (in situ) Ex situ Catalyst-to- Vapour Ref./
Entry Catalyst (Si/Al ratio) Feedstock yrofysis i 01 u catalytic feed ratio residence time  Heating rate i
reactor (T, °C) 5 Year
reactor (T, °C) (w/w) (s)
10 TiO, (rutile), TiO, (anatese) and Poplar wood Pyroprobe (500) Packed-bed 2 - 2000 °C/s for  [145]
ZrO,/TiO, (a mix. of 40 wt.% (500) filament 2010
TiO, (anatese) and 60 wt.%
ZI'Oz)

11 MgO, CaO, Ti0,, Fe,05, NiO, Poplar wood Pyroprobe (500) Packed-bed 1 - 2000 °C/s for  [144]
ZnO (500) filament 2010
12 Red mud (a mixture of Fe,03, Pine bark Packed-bed (300, Packed-bed 0.05 - 7 °C/min [163]
AlO3, Si0O,, TiO,, Na,0, Ca0) 400, 500, 600) (400) 2012
13 MgO, NiO Lignocel HBS Packed-bed (500) Packed-bed ~0.5 <1 - [147]
150-500 (beech (500) 2011

wood originated)
14 Co0, Co;04, NiO Lignocel HBS Packed-bed (500) Packed-bed ~0.5 <0.1 - [131]
150-500 (beech (500) 2012

wood originated)

Metal catalysts:

15 A metal based catalyst with Pine wood Fluidized-bed - 0.2 0.34 - [173]
Ni/Al ratio of 0.5 (650, 700) 2001
16 Fe/Cr Lignocel HBS Packed-bed (500) - ~0.5 - - [69]
150-500 (beech 2000

wood originated)
17 Ni and Fe (impregnated on Oak wood Tubular heated - - - - [174]
biomass) (700) 2007
18 ZnCl, Fir wood Downflow quartz - - - - [175]
reactor (lab scale) 2011

(250-500)

19 ZnCl, (impregnated on biomass) Poplar wood Pyroprobe (350, - 0.05 - 2000 °C/s for  [176]
400, 500, 600) filament 2011
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Table A.2.6. continued

Ex situ

Catalyst-to-

Vapour

Entry Catalyst (Si/Al ratio) Pyrolysis (in : itu) catalytic feed ratio residence time  Heating rate Ref/
reactor (T, °C) o Year
reactor (T, °C) (w/w) (s)
20 ZnCl, Pyroprobe (350, Packed bed (350, 2.5,5,10 - 2000 °C/s for  [176]
400, 500, 600) 400, 500, 600) filament 2011
21 Dolomite and a nickel based Sample boatina  Packed bed (600, - - >1000 [177]
catalyst heated furnace 700, 800) °C/min 2004
(700)
22 Na/ASA, K/ASA, Cs/ASA, Packed-bed (450)  Packed-bed (450) 0.5 - 1700 °C/min  [177]
Mg/ASA, Ca/ASA* 2012
23 Alumina (Specific surface area: Lignocel HBS Packed-bed (500)  Packed-bed (500) ~0.5 <1 - [147]
93, 160, 193 and 215), 150-500 (beech 2011
Tetragonal Zirconia, Titania, wood originated)
Zr/Ti
24 Fe/Cr Lignocel HBS Packed-bed (500)  Packed-bed (500) ~0.5 - - [69]
2000

150-500 (beech
wood originated)

* ASA: Alkali-modified amorphous silical alumina.
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Table A.4.1. Individual elemental distribution over various pyrolysis products relative to the element (carbon, hydrogen, and oxygen) fed to the
system. Values are represented in relative %’s.

GROUP 1 GROUP 2
GROUP 3
Sand A A-M1-H A-MI1-L B B-M2-A B-M2-F G-M2-A G-M2-F

Carbon balance

Organics * 60.5 51.0 56.9 55.9 63.8 58.5 55.9 58.0 53.4

Water ° - - - - - - - - -

Char 20.4 17.9 18.1 17.9 18.3 18.8 18.0 15.8 19.5

Coke ¢ - 7.7 1.3 2.8 2.3 2.2 3.6 2.9 4.4

NCG ¢ 19.1 23.4 23.7 23.3 15.6 20.6 22.5 23.3 22.7
Hydrogen balance

Organics * 41.0 31.4 28.7 35.9 21.5 35.6 39.3 34.6 343

Water ° 38.5 45.2 50.2 41.6 60.1 44.9 39.8 44.1 42.9

Char 9.8 7.5 7.6 7.5 8.3 7.6 7.1 6.2 8.1

Coke ¢ - 6.8 1.2 2.5 2.0 1.9 3.2 2.6 4.0

NCG ¢ 10.7 9.1 12.3 12.4 8.0 10.0 10.6 12.5 10.7
Oxygen balance

Organics * 28.9 8.7 5.4 17.8 2.7 6.1 5.4 5.5 4.4

Water ° 39.2 46.1 51.1 42.4 61.2 45.7 40.5 44.9 43.7

Char° 4.8 4.8 3.6 2.3 5.1 5.9 6.4 5.2 4.4

Coke © - 6.5 1.1 2.4 1.9 1.8 3.0 2.5 3.8

NCG ‘¢ 27.1 33.9 38.7 35.1 29.0 40.5 447 41.8 43.7

* Calculated by difference. ® Based on the results of Karl Fischer analyses. ¢ Coke refers to coke on catalyst. The elemental composition of coke was obtained (the given values
were averaged) from Williams and Horne [195]. ¢ Derived from micro-GC analyses. © Oxygen in char was calculated by difference.
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Table A.4.2 Elemental compositions (in wz.%), heating values, and chemical formulae of organics, char, and non-condensable gases with the use
of different catalysts.

GROUP 1 GROUP 2
GROUP 3
Sand A A-M1-H A-M1-L B B-M2-A B-M2-F G-M2-A G-M2-F

Organics t

C 64.2 80.3 86.5 71.7 92.2 84.8 84.5 85.6 86.1

H 5.5 6.2 5.5 5.8 3.9 6.5 7.5 6.4 6.9

@] 30.3 13.5 8.1 22.5 3.9 8.7 8.0 8.0 7.0
HHV [MJ/kg] * 24.1 33.6 35.7 28.5 36.1 36.5 37.9 36.8 37.9
Chemical formula ~ CH; 030074 CHo9300.13 CHo760007 CH0970024 CHo510003 CHo.920008 CHi.0700.07 CHo 90007  CHg.9600.06
Char

C 77.4 76.0 799 84.7 75.1 73.5 71.5 72.6 78.4

H 4.7 4.0 4.2 4.5 4.3 3.7 3.6 3.6 4.1

@] 17.9 20.0 15.8 10.8 20.6 22.8 249 23.8 17.6
HHYV [MJ/kg] b 30.0 28.2 30.6 333 28.2 26.6 253 25.9 29.6
Chemical formula ~ CHp7300.17 CHo63002 CHo6300.15 CHo6400.10 CHo600021 CHo60023  CHo600.26 CHo.60025  CH.6300.17
NGC'’s

C 40.5 40.4 374 39.2 34.5 33.3 33.1 35.2 33.9

H 2.8 2.0 2.4 2.6 2.2 2.0 2.0 2.4 2.0

@] 56.6 57.6 60.2 58.1 63.2 64.4 64.9 62.4 64.1
LHV [MJ/mS] ¢ 16.1 15.4 14.1 154 12.2 11.0 10.7 12.6 11.4

Chemical formula ~ CH330105 CHos500107 CHo770121 CHosO111 CHp770137 CHo720145 CHp7301.47 CHo0133  CHp710142

" Dry basis. * Calculated based on Milne formula: HHV = 338.2*C + 1442.8*(H-(0/8)) [MJ/kg]. In Milne et al. [196]. ® HHV o = 0.34 x %C + 1.4 x %H - 0.16 x %0,
[MJ/kg]. In Toannidou ef al. [190]. ° LHVyc = (30.0 x CO +25.7 x Hy + 85.4 x CH, +151.3 x C,H,;) X 4.2. In Ioannidou et al. [190].
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Table A.4.3a Evaluation of catalyst performances in catalytic fast pyrolysis experiments of pine wood performed in lab-scale fast pyrolysis mini-
plant, at a reactor temperature of 500 °C. Weight factors of the evaluated criteria were assigned according to targeting on the deoxygenation

requirements. The best and the worst performances are represented by + + + + and — — — —, respectively.
L. Weight
Criteria factor A A-M1-H | A-M1-L B B-M2-A | B-M2-F | G-M2-A | G-M2-F
¢ Deoxygenation by CO, * 8 ——— - ——— - ++ +4+++ + +++
e The yield of organic liquid phase * 7 ——= ———— | t+++ —— ++ + +++ —
e H/C ratio of the organic liquid phase ° 6 + - +++ - + +4+++ + +++
e O/C ratio of the organic liquid phase ° 5 ——— - ++ ++++ —— ++ ++ +++
e Coke yield " 4 ——— ++ ++++ + - — +++ ——
e The production of desirable
compounds (i.e. aromatics, phenols, 3 ++++ ++ +++ - - — - +
and furans) d
e Energy content in the organic liquid ) o o - B N P L P
phase (based on HHV) °
e The percentage of detectable
components in the organic liquid 1 ++++ ++ +++ - + —— - -
phase d
Score (relative to the best performing catalyst) 47.2 50.9 95.4 65.3 79.6 100 89.4 96.3
Ranking 8 7 3 6 5 1 4 2

* See Fig. 4.3.; ° See Fig. 4.2.; © See Table A.4.2 in the Supporting Information; ¢ See Table 4.2.
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Table A.4.3b Evaluation of catalyst performances in catalytic fast pyrolysis experiments of pine wood performed in lab-scale fast pyrolysis mini-

plant, at a reactor temperature of 500 °C. Weight factors of the evaluated criteria were assigned according to targeting on the production of

desirable compounds in high yields. The best and the worst performances are represented by + + + + and — — — —, respectively.
Criteria ‘::thil:.t A A-M1-H | A-M1-L B B-M2-A | B-M2-F | G-M2-A | G-M2-F
e The production of desirable
compounds (i.e. aromatics, phenols, 8 ++++ ++ +++ — - — - +
and furans) *
e The yield of organic liquid phase ab 7 ——— - ++++ —— ++ + +++ —
e Energy content in the oiganlc liquid 6 o - L B N P L s
phase (based on HHV)
e Deoxygenation by CO, ¢ 5 ——— - ——— - ++ ++++ + +++
o The percentage of detectable
components in the organic liquid 4 ++++ ++ +++ -——— + —— - —
phase *
e Coke yield " 3 —— ++ ++++ + - S 4+ __
e H/C ratio of the organic liquid phase ° 2 + ——— +++ ——— + ++++ + +++
e O/C ratio of the organic liquid phase ° 1 ——— ——— ++ ++++ —-— ++ ++ +++
Score (relative to the best performing catalyst) 71.0 70.0 100 65.0 81.5 97.5 79.5 98.5
Ranking 6 7 1 8 4 3 5 2

% See Table 4.2.; ° See Fig. 4.2.; © See Table A.4.2 in the Supporting Information; ¢ See Fig. 4.3.
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Fig. A.5.1. Comparison of the yields of acids, aldehydes, furans, ketones, phenols and sugars
for a reference sample (BTG bio-oil) and the average of five non-catalytic experiments at a
Treactor 0f 500 °C with pine wood as feedstock. Only the most abundant compounds were
quantified by GCxGC/MS-FID and their amounts are expressed as wt.% relative to the
organic liquid. Error bars represent standard deviations.
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Table A.5.1. List of some experimental studies found in the literature dealing with the catalyst regeneration in catalytic pyrolysis of woody

biomass.
Number of
Ref. Year Group Reactor type Catalyst type reaction/regeneration Type of regeneration procedure
cycles
[195] 1995 Williams and Dual fluidized bed (ex situ) HZSM-5 5 Outside the bed, single stage
Horne regeneration at 550 °C
[125] 2007 Ahoetal Fluidized bed (in situ) Acidic H-beta zeolites 1 Outside the bed, two stage
regeneration at 250 °C and 450 °C
[104] 2008 Ahoetal Fluidized bed (in situ) Beta, Y, ZSM-5 and 1 Outside the bed, two stage
MOR type acidic regeneration at 250 °C and 450 °C
zeolites
[132] 2010 Ahoetal Dual fluidized bed (ex situ) Beta, Y, and ferrierite 1 Outside the bed, two stage
type acidic zeolites regeneration at 250 °C and 450 °C
[92] 2011  Carlson et al. Fluidized bed (in situ) ZSM-5 10 Within the bed, single stage
regeneration at 600 °C
[86] 2013  Paasikallio et al. Fluidized-bed (in situ) ZSM-5 2 Within the bed, single stage

regeneration at 600 °C

195



Table A.5.2. Elemental distribution over various pyrolysis products obtained from different catalyst reaction/regeneration cycles (R1 to RS),
compared to the reference, non-catalytic (NC) and catalytic fast pyrolysis with fresh catalyst (R0O) experiments of pine wood at 500 °C. Results

are represented in relative %’s.

Carbon balance, relative % to the carbon in feed.:

NC RO R1 R2 R3 R4 RS R6 R7 RS
Organics * 59.4 51.5 51.0 53.0 54.4 55.2 57.0 60.5 56.8 55.3
Water ° - - - - - - - - - -
Char 19.9 19.7 19.7 19.5 19.7 19.7 19.5 19.0 18.4 19.6
Coke ° 5.1 11.2 10.0 9.6 9.0 9.4 93 8.6 7.9 7.5
NCG* 15.6 17.6 19.4 17.8 16.9 15.7 14.2 12.0 16.8 17.6
Hydrogen balance, relative % to the hydrogen in feed:
Organics * 45.8 33.2 30.2 29.0 29.1 30.0 28.0 27.5 30.6 36.4
Water ° 35.2 43.1 46.4 48.9 49.6 48.9 51.9 53.6 49.1 42.7
Char 6.7 6.4 6.5 6.5 6.6 6.8 6.7 6.9 59 6.3
Coke © 4.5 9.9 8.9 8.6 8.0 8.4 8.3 7.6 7.0 6.7
NCG* 7.8 7.4 7.9 7.1 6.7 59 52 4.4 7.4 8.0
Oxygen balance, relative % to the oxygen in feed:
Organics * 34.2 17.8 13.1 12.0 13.1 14.0 133 15.3 15.8 23.5
Water ° 35.8 43.2 46.6 49.1 49.9 49.1 52.1 53.8 493 42.9
Char ° 1.9 2.9 2.7 3.8 33 3.9 3.9 4.1 33 1.2
Coke © 4.3 9.4 8.4 8.1 7.5 7.9 7.8 7.2 6.6 6.3
NCG* 23.8 25.6 28.2 26.0 25.1 24.0 21.8 18.5 23.9 25.1
* By difference.

" The relative %’s of hydrogen and oxygen from water were calculated based on the results obtained via Karl Fischer analyses.
¢ Coke refers to coke on catalyst. The elemental composition of coke was obtained (the given values were averaged) from Williams and Horne [195]
4 The relative %’s of elements from non-condensable gases were calculated based on the individual gaseous species quantified via micro-GC analyses.

¢ Oxygen in char was calculated by difference.
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Table A.5.3. Changes of the most prevalent compounds in bio-oil (GC/MS detectable only)
resulting from successive reaction/regeneration cycles (R1 to R8) compared with the non-
catalytic and catalytic fast pyrolysis with fresh catalyst (R0) experiments, as quantified by
GC-MS (wt.% averages on feed basis (a.r.))

NC RO R1 R2 R3 R4 R5 R6 R7 RS
Sugars (3 compounds) 379 004 037 058 0.86 1.05 1.26 1.18 .16  2.09
Levoglucosan 322 0.00 037 058 073 0.86 1.26 1.12  1.16 1.84
Aldehydes (2 compounds) 0.67 0.00 0.00 0.00 0.00 0.01 0.00 0.00 0.00 0.00
Hydroxyacetaldehyde 0.67 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Acids (9 compounds) 209 097 086 1.12 1.61 1.57 245 210 158  1.64
Acetic acid 1.50 057 067 078 124 1.19 199 1.75 1.15  1.16
Propanoic acid 029 0.07 006 0.09 013 0.17 021 0.15 0.12 0.13
Furans (12 compounds) 0.57 028 015 0.11 020 0.28 0.18 025 0.19 0.12
Furfural 022 0.06 002 0.03 0.04 0.07 0.08 0.09 0.02 0.02
Ketones (9 compounds) 0.83 040 041 0.61 0.64  0.66 0.79  0.71 0.64  0.66
2-cyclopenten-1-one 0.16 0.14 023 030 034 0.34 040 034 037 034
Phenols (24 compounds) 249 231 194 1.73 214 1.62 2.16 1.69 245 3.16
1,2-benzenediol 0.51 037 029 025 036 029 038 030 037 050
4-methyl-1,2-benzenediol  0.61 043 034 032 040 033 040 033 047 0.69
4-ethylcatechol 029 021 0.16 0.14 0.19 0.14 0.19 0.16 021 034
2,4-dimethyl-phenol 0.19 021 0.17 0.16 0.17 0.14 0.19 0.14 021 021
4-methyl-phenol 0.11 028 023 020 0.21 0.13 020 0.15 029 0.27
2-methyl-phenol 0.10 0.17 0.15 0.14 0.16 0.11 011 0.12 0.10 0.18
Phenol 0.08 028 024 022 023 0.16 022 0.17 030 024
Aromatics (19 compounds) 0.00 047 052 037 044 026 044 031 043 044
Xylene (m, p) 0.00 0.03 0.02 0.01 0.02 0.01 0.01 0.01 0.02 0.01
1-methyl naphthalene 0.00 024 018 0.15 0.13 0.07 0.11 0.08 0.10 0.09
Methyl- 1H-Indenes 0.00 0.06 0.09 0.07 0.08 0.04 0.08 0.06 0.08 0.06
Indene 0.00 0.03 0.04 0.03 0.03 0.02 003 0.02 0.03 0.02
Indane 0.00 0.01 0.02 0.01 0.01 0.01 000 0.01 0.02 0.01
Others (21 compounds) 1.69 0.67 047 051 077 090 0.89 095 1.11 1.46
1-hydroxy-2-propanone 1.08 020 0.09 0.18 0.23 040 047 048 057 0.80
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Table A.5.4. Distribution of the energy with respect to the pyrolysis products. Values are
expressed in relative % to the energy content of pine wood. Calculations were made based on
the Dulong equation.

Bio-0il Char Coke NCG

NC 58.0 19.9 4.6 17.4
RO 49.2 20.0 10.5 20.3
R1 453 20.5 9.5 24.7
R2 46.5 21.0 9.7 22.8
R3 47.5 21.4 9.0 22.1
R4 48.8 22.2 9.9 19.1
RS 49.4 22.8 10.2 17.7
R6 523 23.4 9.8 14.5
R7 50.2 20.0 8.1 21.7
R8 50.5 21.0 7.3 21.2

198



10.

11.

12.

13.

14.

15.

References

International Energy Agency. (2012014 Key World Energy StatistidRetrieved from
http://www.iea.org/publications/freepublicationsficsation/KeyWorld2014.pdf

Shell International BV. (2008%hell energy scenarios to 203Retrieved from
http://s00.static-shell.com/content/dam/shell/sthtture-energy/downloads/shell-

scenarios/shell-energy-scenarios2050.pdf

Boyle, G. (Ed.). (2004)Renewable energy: Power for a sustainable fut@aford
University Press.

Jansen, J. C. & Seebregts, A. J. (2010). Leng-energy services security: What is it
and how can it be measured and valuedergy Policy, 381654—-1664.

BP Statistical Review of World Enerdyne 2014(2014). Retrieved from
http://www.bp.com/content/dam/bp/pdf/Energy-ecomaistatistical-review-2014/BP-

statistical-review-of-world-enerqgy-2014-full-repgudf

World Nuclear Association. (2014%upply of uranium (Updated 8 October 2014)
Retrieved November 2014, from
http://www.world-nuclear.org/info/Nuclear-Fuel-CedUranium-Resources/Supply-of-

Uranium/

Germany: Nuclear power plants to close by 2@2@.May 2011)BBC News Europe
Retrieved from http://www.bbc.com/news/world-eurd#592208

After Fukushima: Could Germany's nuclear garbhalekfire? (28 September 2013).
CNN International Retrieved from
http://edition.cnn.com/2013/09/27/business/germfishore-wind-farms/

European Climate Foundation. (201Bipmass for heat and poweropportunity and
economicsRetrieved from
http://www.europeanclimate.org/documents/Biomagsonte - Final.pdf

European Commission, Climate Action. (202930 framework for climate and energy
policies Retrieved from
http://ec.europa.eu/clima/policies/2030/index_eamn.ht

Siemens power-to-gas plants. (208)lutions for power to gas plantRetrieved from
http://www.industry.siemens.com/topics/global/etiy-manufacturing/battery-

storage/Documents/Siemens-power-to-gas-plants.pdf

Mohan, D., Pittman, C. U., & Steele, P.H. @0@Pyrolysis of wood/biomass for bio-
oil: A critical review.Energy & Fuels20, 848—889.

Jungigner, M., Faaij, A., van den Broek, Roodmans, A., & Hulscher, W. (2001).
Fuel supply strategies for large-scale bio-energyjepts in developing countries.
Electricity generation from agricultural and foressidues in Northeastern Thailand.
Biomass and Bioenerg21, 259-275.

Toft, A.J. (1996)A comparison of integrated biomass to electricitgtems(Doctoral
dissertation). University of Aston, Birmingham, U.K

Groeneveld, M.J. (2008)he change from fossil to solar and biofuels nerdsnergy
(Lecture). University of Twente. Retrieved from
http://doc.utwente.nl/67339/1/rede_Groeneveld.pdf

199



16.

17.

18.

19.

20.

21.

22.

23.

24.

25.

26.

27.

28.

29.

30.

31.

32.

Shell Deutschland oil GmbH. (October 20 Bipfuels - What role in the future energy
mix? Facts, trends and perspectiveiamburg, Germany. Retrieved from
http://www.iinas.org/tl_files/iinas/downloads/bithNIAS _IFEU_2012_Shell_Biofuels e
n.pdf

Dragone, G., Fernandes, B. D., Vicente, A. &. Teixeira, J. A. (2010). Third
generation biofuels from microalgae. In Mendez-¥il&. (Ed.). Current Research,
Technology and Education Topics in Applied Micrébgy and Microbial
Biotechnologypp. 1355-1366). Formatex.

de Wild, P. (2011).Biomass Pyrolysis for Chemical¢Doctoral dissertation).
Rijksuniversiteit Groningen. Groningen, The Netheds.

de Wild, P., van der Laan, R., Kloekhorst, & Heeres, E. (2009). Lignin valorisation
for chemicals and (transportation) fuels via (cdte) pyrolysis and
hydrodeoxygenatiorEnvironmental Progress & Sustainable Energ§(3), 461-469.

de Wild, P.J., den Uil, H., Reith, J. H., Lbhaf A., Hendriks, C., van Eck, E. R. H., &
Heeres, E. J. (2009). Bioenergy Il: Biomass vaidiis by a hybrid thermochemical
fractionation approachlnternational Journal of Chemical Reactor Engineeyi 7,
Article A51.

Wang, X. (2006)Biomass fast pyrolysis in a fluidized bed: Prodeletaning by in-situ
filtration (Doctoral dissertation). Universiteit Twente, Bmsde, The Netherlands.
Peterson, A. A., Vogel, F., Lachance, R. RiJikg, M., Antal, Jr., M. J., Tester, J. W.
(2008). Thermochemical biofuel production in hytieimal media: A review of sub-
and supercritical water technologi&nhergy & Environmental Scienck 32—65.
Cherubini, F. (2010). The biorefinery concepitsing biomass instead of oil for
producing energy and chemicaergy Conversion and Managemestt, 1412-1421.
FitzPatrick, M., Champagne, P., Cunningham, iM. Whitney, R. A. (2010). A
biorefinery processing perspective: Treatment ghdcellulosic materials for the
production of value-added produdBoresource Technolog§01 (23) 8915-8922.
Venderbosch, R. H., & Muggen, G. (2010). Infation on the BTG bioliquids refinery
can be found in the BTG information leafl&TG-BTL, Biomass-to-Liquid, pyrolysis
oil, the sustainable alternativ®etrieved from www.btg-btl.com

Kersten, S., & Garcia-Perez, M. (2013). Redevelopments in fast pyrolysis of ligno-
cellulosic materialsCurrent Opinion in Biotechnology4, 414-420.

Meier, D., van de Beld, B., Bridgwater, A. Elliott, D. C., Oasmaa, A., & Preto, F.
(2013). State-of-the-art of fast pyrolysis in IEAioénergy member countries.
Renewable & Sustainable Energy Revie@s619-641.

Bridgwater, T. (2006). Biomass for energhurnal of the Science of Food and
Agriculture 86, 1755-1768.

Bridgwater, A. V. (2012). Review of fast pysis of biomass and product upgrading.
Biomass and Bioenerg$8, 68—94.

Venderbosch, R. H., & Prins, W. (2010). Fagtolysis technology development.
Biofuels, Bioproducts and Biorefining, 178—208.

Czernik, S., & Bridgwater, A. V. (2004). Oveaw of applications of biomass fast
pyrolysis oil. Energy & Fuels18, 590-598.

Lappas, A. A., Samolada, M. C., latridis, D, Koutetakis, S. S., & Vasalos I. A.
(2002). Biomass pyrolysis in a circulating fluiddoeeactor for the production of fuels
and chemicalgruel, 81, 2087-2095.

200



33.

34.

35.

36.

37.

38.

39.

40.

41.

42.

43.

44,

45.

46.

47.

48.

49.

50.

Oasmaa, A., Kuoppala, E., Ardiyanti, A., Vermbsch, R. H., & Heeres, H. J. (2010).
Characterization of hydrotreated fast pyrolysisikits. Energy & Fuels24, 5264-5272.
Vispute, T. P., Zhang, H. Y., Sanna, A., XiRo, & Huber, G. W. (2010). Renewable
chemical commodity feedstocks from integrated géitaprocessing of pyrolysis oils.
Science330(6008), 1222—-1227.

Kleinert, M., & Barth, T. (2008). Phenols frohgnin. Chemical Engineering &
Technology31(5), 736—745.

Zhang, X., Tu, M. B., & Paice, M. G. (2011)owRes to potential bioproducts from
lignocellulosic biomass lignin and hemicellulosB®Energy Researcid(4), 246-257.
Furimsky, E. (2000). Catalytic hydrodeoxygematApplied Catalysis A: General 99,
147-190.

Soltes, J., & Milne, T. A. (Eds.) (198®8)yrolysis Oils From Biomas&ACS Symposium
Series 376, American Chemical Society, Washingisi,

Bridgwater, A. V. (1996). Production of highade fuels and chemicals from catalytic
pyrolysis of biomas<Catalysis Today29, 285-295.

Morris, M. A. (2011). Production of bio-oilsavcatalytic pyrolysis. In: R. Luque, J.
Campelo, & J. Clark, (Eds.)Handbook of biofuels productiorfpp. 349-389).
Woodhead Publishing Limited.

Mochizuki, T., Chen, S. -Y., Toba, M., & Yostura, Y. (2013). Pyrolyzer-GC/MS
system-based analysis of the effects of zeolitalgsts on the fast pyrolysis of Jatropha
husk.Applied Catalysis A: Generad56 174-181.

Pattiya, A., Titiloye, J. O., & Bridgwater, A/. (2008). Fast pyrolysis of cassava
rhizome in the presence of catalysisurnal of Analytical and Applied Pyrolysi8l,
72-79.

Jackson, M. A., Compton, D. L., & Boateng, A.(2009). Screening heterogeneous
catalysts for the pyrolysis of ligniddournal of Analytical and Applied Pyrolysi85,
226-230.

Pattiya, A., Titiloye, J. O., & Bridgwater, X. (2010). Evaluation of catalytic pyrolysis
of cassava rhizome by principal component anal¥isl, 89, 244—253.

Jae, J., Tompsett, G. A., Foster, A. J., Hamin&. D., Auerbach, S. M., Lobo, R. F.,
& Huber, G. W. (2011). Investigation into the shasectivity of zeolite catalysts for
biomass conversiodpurnal of Catalysis279, 257—-268.

Carlson, T. R., Vispute, T. P., & Huber, G. {#008). Green gasoline by catalytic fast
pyrolysis of solid biomass derived compoundeemSusCher, 397—-400.

Park, H. J., Jeon, J. -K., Suh, D. J., Suh;W., Heo, H. S., & Park, Y. -K. (2011).
Catalytic vapor cracking for improvement of bio-gjlality, Catalysis Surveys from
Asia 15, 161-180.

Zhang, H., Cheng, Y. -T., Vispute, T. P., Xi&, & Huber, G. W. (2011). Catalytic
conversion of biomass-derived feedstocks into méeéind aromatics with ZSM-5: The
hydrogen to carbon effective ratiénergy and Environmental Sciende2297-2307.
Qiang, L., Zhi, L. W., Dong, Z., & Feng, Z. X2009). Analytical pyrolysis-gas
chromatography/mass spectrometry (Py-GC/MS) of satwaith AI/SBA-15 catalysts,
Journal of Analytical and Applied Pyrolysi4, 131-138.

Yildiz, G., Lathouwers, T., Toraman, H. E.nM@eem, K. M., Marin, G. B., Ronsse, F.,
van Duren, R., Kersten, S. R. A., & Prins, W. (2D1datalytic fast pyrolysis of pine
wood: Effect of successive catalyst regeneratiénergy & Fuels 28, 4560-4572.
(Chapter 5 in this thesis).

201



51.

52.

53.

54.

55.

56.

S7.

58.

59.

60.

61.

62.

63.

64.

65.

66.

67.

Li, H., Yan, Y., & Ren, Z. (2008). Online upgling of organic vapors from the fast
pyrolysis of biomasslournal of Fuel Chemistry and Technolp8g, 666—671.
Thangalazhy-Gopakumar, S., Adhikari, S., GuptaB., Tu, M., & Taylor, S. (2011).
Production of hydrocarbon fuels from biomass usiatplytic pyrolysis under helium
and hydrogen environmen®ioresource Technology02 6742—-6749.

Bahng, M.-K., Mukarakate, C., Robichaud, D.&.Nimlos, M. R. (2009). Current
technologies for analysis of biomass thermochenpeatessing: A reviewAnalytica
Chimica Acta651, 117-138.

Nachenius, R., Ronsse, F., Venderbosch, Rrigs, W. (2013). Biomass pyrolysis. In
D. Y. Murzin (Ed.),Chemical engineering for renewables convergigal. 42, pp. 75—
139). Burlington, MA, USA: Academic Press.

Zhang, L., Xu, C. C., & Champagne, P. (20@)erview of recent advances in thermo-
chemical conversion of bioma$snergy Conversion and Managemesit, 969-982.
Brown, T. R., Thilakaratne, R., Brown, R. &.,Hu, G. (2013). Techno-economic
analysis of biomass to transportation fuels ancctet#ty via fast pyrolysis and
hydroprocessing-uel, 106, 463—469.

Compton, D. L., Jackson, M. A., Mihalcik, D, 8ullen, C. A., & Boateng, A. A.
(2011). Catalytic pyrolysis of oak via pyroprobeddrench scale, packed bed pyrolysis
reactorsJournal of Analytical and Applied PyrolysB0, 174-181.

Kanaujia, P. K., Sharma, Y., Garg, M., Tripald., & Singh, R. (2014). Review of
analytical strategies in the production and upgrgdof bio-oils derived from
lignocellulosic biomasslournal of Analytical and Applied PyrolysiH05 55-74.

French, R. & Czernik, S. (2010). Catalyticqglysis of biomass for biofuels production.
Fuel Processing Technologyl, 25-32.

Hu, C., Yang, Y., Luo, J., Pan, P., Tong, ®Li, G. (2011). Recent advances in the
catalytic pyrolysis of biomasg&rontiers of Chemical Science and Engineeyibgl 88—
193.

Mortensen, P., Grunwaldt, J.-D., Jensen, fydsen, K., & Jensen, A. (2011). A
review of catalytic upgrading of bio-oil to engifigels. Applied Catalysis A: General
407, 1-19.

Bulushev, D. A., & Ross, J. R. (2011). Catialysr conversion of biomass to fuels via
pyrolysis and gasification: A revieWatalysis Todayl71, 1-13.

Rezaei, P. S., Shafaghat, H., & Daud, W. M.VA. (2014). Production of green
aromatics and olefins by catalytic cracking of ostygte compounds derived from
biomass pyrolysis: A reviewApplied Catalysis A: Generad69, 490-511.

Lappas, A., Bezergianni, S., & Vasalos, |.0@0 Production of biofuels via co-
processing in conventional refining process&stalysis Todayl45 55-62.

Ardiyanti, A. R., Khromova, S. A., VenderbosdR, H., Yakovlev, V. A., Melian-
Cabrera, I. V., & Heeres, H. J. (2012). Catalytidtotreatment of fast pyrolysis oil
using bimetallic Ni-Cu catalysts on various suppdkpplied Catalysis A-Generad49,
121-130.

Kloekhorst, A., Wildschut, J., & Heeres, H.(2014). Catalytic hydrotreatment of
pyrolytic lignins to give alkylphenolics and aroneat using a supported Ru catalyst.
Catalysis Science & Technolagy(8), 2367-2377.

Wu, X., Markham, J., Sun, X. S., & Wang, D012). Optimizing catalytic fast
pyrolysis of biomass for hydrocarbon yielttansactions of the ASABB5(5), 1879—
1885.

202



68.

69.

70.

71.

72.

73.

74.

75.

76.

7.

78.

79.

80.

81.

82.

83.

Jeon, M.-J., Jeon, J.-K., Suh, D. J., Parkil.SSa, Y. J., Joo, S. H., & Park, Y.-K.
(2013). Catalytic pyrolysis of biomass componemsranesoporous catalysts using Py-
GC/MS.Catalysis Today204, 170-178.

Samolada, M. C., Papafotica, A., & VasalosAl.(2000). Catalyst evaluation for
catalytic biomass pyrolysig€nergy & Fuels14, 1161-1167.

Foster, A. J., Jae, J., Cheng, Y. -T., HuBeMV., & Lobo, R. F. (2012). Optimizing the
aromatic yield and distribution from catalytic fgsgrolysis of biomass over ZSM-5.
Applied Catalysis A: Generad23-424 154-161.

Biddy, M., Dutta, A., Jones, S., & Meyer, £0(@3).In-Situ catalytic fast pyrolysis
technology pathwayGolden, Colorado: National Renewable Energy Latooy, and
Richland, WA: Pacific Northwest National LaboratoRetrieved December 2014, from
http://www.nrel.gov/docs/fy130sti/58056.pdf

Lappas, A. A., Kalogiannis, K. G., lliopouldt, F., Triantafyllidis, K. S., & Stefanidis,
S. D. (2012). Catalytic pyrolysis of biomass forartsportation fuels.Wiley
Interdisciplinary Reviews: Energy and Environmdnt285-297.

Dickerson, T., & Soria, J. (2013). Catalytistf pyrolysis: A reviewEnergies 6, 514—
538.

Lin, Y. C., & Huber, G. W. (2009). The critlceole of heterogeneous catalysis in
lignocellulosic biomass conversidanergy and Environmental Scien@e 68—80.

Tan, S., Zhang, Z., Sun, J., & Wang, Q. (20R&cent progress of catalytic pyrolysis of
biomass by HZSM-SChinese Journal of Catalysi34, 641-650.

Agblevor, F. A., Beis, S., Mante, O., & Abdaudumine, N. (2010). Fractional catalytic
pyrolysis of hybrid poplar woodndustrial & Engineering Chemistry Reseayctb,
3533-3538.

Butler, E., Devlin, G., Meier, D., & McDonnglK. (2011). A review of recent
laboratory research and commercial developmentfash pyrolysis and upgrading.
Renewable and Sustainable Energy Reviéts4171-4186.

US Department of Energy. (2015eedstock supplyRetrieved, December 4, 2014,
from http://energy.gov/eere/bioenergy/feedstockpdyffFeedstock Types

Bridgwater, A. V. (2007). IEA bioenergy ®7update. Biomass pyrolysiBiomass
and Bioenergy31, VII-XVIII.

Hayes, D. J. M. (2013). Biomass compositiot i relevance to biorefining. In K. S.
Triantafyllidis, A. A. Lappas, & M. Stocker (Eds.Jhe role of catalysis for the
sustainable production of bio-fuels and bio-chemsiap. 2765). Elsevier B.V.

Yildiz, G., Ronsse, F., Venderbosch, R., vame, R., Kersten, S. R. A., & Prins, W.
(2015). Effect of biomass ash in catalytic fastgbysis of pine woodApplied Catalysis
B: Environmental168 203-211. (Chapter 6 in this thesis).

Mante, O. D., Agblevor, F., & McClung, R. (Z)1A study on catalytic pyrolysis of
biomass with Y-zeolite based FCC catalyst usingoese surface methodolodyuel,
108 451-464.

Ranzi, E., Cuoci, A., Faravelli, T., FrasstildA., Migliavacca, G., Pierucci, S., &
Sommariva, S. (2008). Chemical kinetics of biompgolysis. Energy Fuels22(6),
4292-4300.

203



84.

85.

86.

87.

88.

89.

90.

91.

92.

93.

94.

95.

96.

97.

Napoli, A., Soudais, Y., Lecomte, D., & CdstilS. (1997).Scrap tire pyrolysis:
experiment and modellingNo. CONF-970440--). Solid Waste Association ofrto
America, Silver Spring, MD (United States); Air akidaste Management Association,
Pittsburgh, PA (United States); Integrated Wast®i&es Association, Washington, DC
(United States); National Renewable Energy Lab.ld&g CO (United States);
American Society of Mechanical Engineers, Yonkabs, (United States). Solid Waste
Processing Div.; Environmental Protection Agencyes&arch Triangle Park, NC
(United States). Air Pollution Technology Branch.

Carlson, T. R., Tompsett, G. A., Conner, W, &.Huber, G. W. (2009). Aromatic
production from catalytic fast pyrolysis of biomassrived feedstocksTopics in
Catalysis 52, 241-252.

Paasikallio, V., Lindfors, C., Lehto, J., O@asmnA., & Reinikainen, M. (2013). Short
vapour residence time catalytic pyrolysis of spreaerdust in a bubbling fluidized-bed
reactor with HZSM-5 catalyst$.opics in Catalysis56, 800-812.

Ma, Z., Troussard, E., & van Bokhoven, J. 2012). Controlling the selectivity to
chemicals from lignin via catalytic fast pyrolysi&pplied Catalysis A: Generafi23-
424, 130-136.

Scott, D. S., Piskorz, J., Bergougnou, M.@raham, R., & Overend, R. P. (1988). The
role of temperature in the fast pyrolysis of celkd and wood.Industrial &
Engineering Chemistry Resear&v(1), 8-15.

Zhang, H., Xiao, R., Huang, H., & Xiao, G. (). Comparison of non-catalytic and
catalytic fast pyrolysis of corncob in a fluidizééd reactorBioresource Technology
100, 1428-1434.

Zhang, Q., Chang, J., Wang, T. J., Xu, Y. @0®Review of biomass pyrolysis oil
properties and upgrading researghergy Conversion and Managemeift, 87—92.

Aho, A., Kumar, N., Eranen, K., Salmi, T., HypM., & Murzin, D. Y. (2008).
Catalytic pyrolysis of woody biomass in a fluidizieed reactor: Influence of the zeolite
structureFuel, 87, 2493-2501.

Carlson, T. R., Cheng, Y. T., Jae, J., & Hulsgr,W. (2011). Production of green
aromatics and olefins by catalytic fast pyrolysié wood sawdust.Energy &
Environmental Sciencd, 145-161.

Valverde Millan, J. M. (2013). Introductionhd classical Geldart's diagram and the
new type of gas-fluidization behavior. In Fluidiwet of Fine Powders (pp. 1-6).
Springer Netherlands.

Zhang, H., Xiao, R., Jin, B., Shen, D., ChBn, & Xiao, G. (2013). Catalytic fast
pyrolysis of straw biomass in an internally internected fluidized bed to produce
aromatics and olefins: Effect of different cataty®ioresource Technology37, 82—
87.

Liaw, S. -S., Wang, Z., Ndegwa, P., Frear,H&, S., Li, C .-Z., & Garcia-Perez, M.
(2012). Effect of pyrolysis temperature on the ¢iahd properties of bio-oils obtained
from the auger pyrolysis of Douglas Fir woadburnal of Analytical and Applied
Pyrolysis 93, 52—-62.

Brown, J., & Brown, R. (2012). Process optiatian of an auger pyrolyzer with heat
carrier using response surface methodol&ygresource Technolog$03 405-414.

Puy, N., Murillo, R., Navarro, M. V., Lopez, B81., Rieradevall, J., Fowler, G.,
Aranguren, |., Garcia, T., Bartroli, J., & Mastral, M. (2011). Valorisation of forestry
waste by pyrolysis in an auger reacidlaste Managemerl, 1339-1349.

204



98.

99.

100.

101.

102.

103.

104.

105.

106.

107.

108.

109.

110.

111.

112.

113.

Jae, J., Coolman, R., Mountziaris, T., & HulérW. (2014). Catalytic fast pyrolysis of
lignocellulosic biomass in a process developmerit with continual catalyst addition
and removalChemical Engineering Science)8 33-46.

Olazar, M., Aguado, R., Bilbao, J., & Barora, (2000). Pyrolysis of sawdust in a
conical spouted-bed reactor with a HZSM-5 catalikBChE Journal 46, 1025-1033.
Yildiz, G., Pronk, M., Djokic, M., van Geer{, M., Ronsse, F., van Duren, R., &
Prins, W. (2013). Validation of a new set-up fonttouous catalytic fast pyrolysis of
biomass coupled with vapour phase upgradibmurnal of Analytical and Applied
Pyrolysis 103 343-351. (Chapter 3 in this thesis).

Agblevor, F. A., Mante, O., Abdoulmoumine, 8.McClung, R. (2010). Production of
stable biomass pyrolysis oils using fractional lyai@a pyrolysis. Energy & Fuels 24,
4087-4089.

Mante, O. D., Agblevor, F., Oyama, S., & Ma@i, R. (2012). The effect of
hydrothermal treatment of FCC catalysts and ZSMiditaves in catalytic conversion of
biomassApplied Catalysis A: Generad45-446 312-320.

Mante, O. D., Agblevor, F., Oyama, S., & Ma@], R. (2014). Catalytic pyrolysis with
ZSM-5 based additive as co-catalyst to Y-zeolitawio reactor configurations:uel,
117, 649-659.

Aho, A., Kumar, N., Eranen, K., Salmi, T.,gd M. & Murzin, D. Y. (2008). Catalytic
pyrolysis of woody biomass in a fluidized bed reactnfluence of the zeolite structure.
Fuel, 87, 2493-2501.

Zhang, H., Carlson, T. R., Xiao, R., & Hub&r,W. (2012). Catalytic fast pyrolysis of
wood and alcohol mixtures in a fluidized bed readBreen Chemistryl4, 98-110.
Czernik, S. (2013). Catalytic Pyrolysis ofoBiass. In Lee, J. W. (Ed.Advanced
Biofuels and Bioproductpp. 119-127). New York: Springer Science+BusirMsdia.
Williams, P. T., & Horne, P. A. (1994). Chatexisation of oils from the fluidised bed
pyrolysis of biomass with zeolite catalyst upgradiBiomass and Bioenergy, 223—
236.

Horne, P. A., Nugranad, N., & Williams, P. (IL995). Catalytic coprocessing of
biomass-derived pyrolysis vapours and methadolrnal of Analytical and Applied
Pyrolysis 34, 87-108.

Mihalcik, D. J., Mullen, C. A., & Boateng, A. (2011). Screening acidic zeolites for
catalytic fast pyrolysis of biomass and its compuseJournal of Analytical and
Applied Pyrolysis92, 224-232.

Torri, C., Reinikainen, M., Lindfors, C., Falh D., Oasmaa, A., & Kuoppala, E.
(2010). Investigation on catalytic pyrolysis of @isawdust: Catalyst screening by Py-
GC-MIP-AED. Journal of Analytical and Applied Pyrolysi8, 7—-13.

Bridgwater, A. V. (1994). Catalysis in thetrbdomass conversiorApplied Catalysis
A: Genera) 116 5-47.

Chen, N. Y., Garwood, W. E., & Dwyer, F. G996). In M. Dekker (Ed.) Shape
Selective Catalysis in Industrial Applications (8p-36). 2 edn., vol. 65, (ch. 2), New
York.

Freude, D., Ernst, H., Mildner, T., Pfeifét,, & Wolf, J. (1994). NMR studies
concerning the acidity and catalysis in zeolites.H. Hattori, M. Misono, & Y. Ono
(Eds.),Acid-base Catalysis [jpp. 105-117). Elsevier, The Netherlands.

205



114.

115.

116.
117.

118.

119.

120.

121.

122.

123.

124.

125.

126.

127.

128.

129.

130.

Karg, H. G., Hunger, M., & Beyer, H. K. (199€haracterization of zeolites. In: J.
Weitkamp, & L. Puppe (Eds.Fatalysis and Zeolites: Fundamentals aaquplications
(pp. 198-326). Springer-Verlag, Germany.

Mihalcik, D., Boateng, A., Mullen, C., & Gdidrg, N. (2011). Packed-bed catalytic
cracking of oak-derived pyrolytic vapourdndustrial & Engineering Chemistry
Research50, 13304-13312.

Weitkamp, J. (2000). Zeolites and cataly8®did State lonicsl31, 175-188.

Carlson, T. R., Jae, J., & Huber, G. W. (3009echanistic insights from isotopic
studies of glucose conversion to aromatics over Z5MhemCatCherr, 107-110.
Carlson, T. R., Jae, J., Lin, Y.-C., TompsBttA., & Huber, G. W. (2010). Catalytic
fast pyrolysis of glucose with HZSM-5: The combinddomogeneous and
heterogeneous reactiod®urnal of Catalysis270, 110-124.

Cheng, Y.-T., & Huber, G. W. (2012). Prodantof targeted aromatics by using Diels-
Alder classes of reactions with furans and olebrsr ZSM-5.Green Chemistryl4,
3114-3125.

Mullen, C. A., & Boateng, A. A. (2010). Cattat pyrolysis-GC/MS of lignin from
several sources.uel Processing Technologyl, 1446—1458.

Chen, N.Y., Walsh, D. E., & Koenig, L.R. (B)8Fluidized-Bed Upgrading of Wood
Pyrolysis Liquids and Related Compounds. In J.eSoft T. A. Milne (Eds.)Pyrolysis
Oils from Biomasgpp. 277-289). ACS Symposium Series 396. AmeriCaemical
Society, Washington, DC.

Chen, N. Y., Degnan, T. F., & Koenig, L. R986). Liquid fuel from carbohydrates.
Chemtech16(8), 506-511.

Zhang, H., Xiao, R., Jin, B., Xiao, G., & @h&. (2013). Biomass catalytic pyrolysis to
produce olefins and aromatics with a physically exix catalyst. Bioresource
Technology140, 256—-262.

Atutxa, A., Aguado, R., Gayubo, A. G., Olazht.,, & Bilbao, J. (2005). Kinetic
Description of the Catalytic Pyrolysis of Biomassa Conical Spouted Bed Reactor.
Energy & Fuels19, 765-774.

Aho, A., Kumar, N., Eranen, K., Salmi, T.,gd M., & Murzin, D. (2007). Catalytic
pyrolysis of biomass in a fluidized bed reactorfluence of the acidity of H-Beta
zeolite.Process Safety and Environmental Protect®s) 473—480.

Guisnet, M., & Magnoux, P. (1997). Deactioatiby coking of zeolite catalysts.
Prevention of deactivation. Optimal conditions fegenerationCatalysis Today36,
477-483.

Cheng, Y.-T., Jae, J., Shi, J., Fan, W., &étuG. W. (2012). Production of renewable
aromatic compounds by catalytic fast pyrolysis @ndcellulosic biomass with
bifunctional Ga/ZSM-5 catalyst&\ngewandte Chemi&24, 1416-14109.

Horne, P. A., & Williams, P. T. (1996). Updnag of biomass-derived pyrolytic
vapours over zeolite ZSM-5 catalyst: effect of battadilution on product yieldg-uel,
75, 1043-1050.

Horne, P. A., & Williams, P. T. (1994). Preimi quality fuels and chemicals from the
fluidised bed pyrolysis of biomass with zeoliteatgst upgradingRenewable Energy
5, 810-812.

Park, H. J., Dong, J.-l., Jeon, J.-K., Yoo, X Yim, J.-H., Sohn, J. M., & Park, Y.-K.
(2007). Conversion of the pyrolytic vapor of radigtine over zeolitesJournal of
Industrial and Engineering Chemistri3, 182— 189.

206



131.

132.

133.

134.

135.

136.

137.

138.

139.

140.

141.

142.

143.

144.

liopoulou, E., Stefanidis, S., Kalogianni&., Delimitis, A., Lappas, A., &
Triantafyllidis, K. (2012). Catalytic upgrading dfiomass pyrolysis vapors using
transition metal-modified ZSM-5 zeolitépplied Catalysis B: Environmenial27,
281-290.

Aho, A., Kumar, N., Lashkul, A., Eranen, Kiolek, M., Decyk, P., Salmi, T.,
Holmbom, B., Hupa, M., & Murzin, D. Y. (2010). Catac upgrading of woody
biomass derived pyrolysis vapours over iron modifzeolites in a dual-fluidized bed
reactor.Fuel, 89, 1992—-2000.

lliopoulou, E. F., Antonakou, E. V., Karakiagl S. A., Vasalos, I. A., Lappas, A. A., &
Triantafyllidis, K. S. (2007). Catalytic conversiaf biomass pyrolysis products by
mesoporous materials: Effect of steam stability aodlity of AI-MCM-41 catalysts.
Chemical Engineering Journal34, 51-57.

Triantafyllidis, K. S., lliopoulou, E. F., Aenakou, E. V., Lappas, A. A., Wang, H., &
Pinnavaia, T. J. (2007). Hydrothermally stable npesous aluminosilicates (MSU-S)
assembled from zeolite seeds as catalysts for ls®npgrolysis.Microporous and
Mesoporous Material99, 132—-139.

Antonakou, E., Lappas, A., Nilsen, M. H., Boa, A., & Stocker, M. (2006).
Evaluation of various types of AI-MCM-41 materias catalysts in biomass pyrolysis
for the production of bio-fuels and chemicdsel, 85, 2202-2212.

Adam, J., Blazso, M., Meszaros, E., Stodker Nilsen, M. H., Bouzga, A., Hustad, J.
E., Gronli, M., & Oye, G. (2005). Pyrolysis of biass in the presence of AI-MCM-41
type catalysts-uel, 84, 1494-1502.

Lee, H. I, Park, H. J., Park, Y.-K., Hur, Y, Jeon, J.-K., & Kim, J. M. (2008).
Synthesis of highly stable mesoporous aluminogédEdrom commercially available
zeolites and their application to the pyrolysisaafody biomassCatalysis Todayl132,
68—-74.

Park, H. J., Heo, H. S., Jeon, J.-K., Kim,R)oo, R., Jeong, K.-E., & Park, Y.-K.
(2010). Highly valuable chemicals production froatadytic upgrading of radiata pine
sawdust-derived pyrolytic vapors over mesoporoud kéelites.Applied Catalysis B:
Environmental95, 365-373.

Qiang, L., Zhi, L. W., Dong, Z., & Feng, Z.. X2009). Analytical pyrolysis-gas
chromatography/mass spectrometry (Py-GC/MS) of sawaith AI/SBA-15 catalysts,
Journal of Analytical and Applied Pyrolysi4, 131-138.

Ernst, S., Hartmann, M., & Sauerbeck, S. (208 novel family of solid basic catalysts
obtained by nitridation of crystallinemicroporous lurainosilicates and
aluminophosphate#pplied Catalysis A: Generg200, 117-123.

Huber, G. W,, Iborra, S., & Corma, A. (2008ynthesis of transportation fuels from
biomass: Chemistry, catalysts, and engineef@gmical Review406, 4044—-4098.
Nokkosmaki, M., Kuoppala, E., Leppamaki, E.,Krause, A. (2000). Catalytic
conversion of biomass pyrolysis vapours with zixéde. Journal of Analytical and
Applied Pyrolysis55, 119-131.

Chang, W., Qinglan, H., Dinggiang, L., Qingzh., Guiju, L., & Bo, X. (2008).
Production of light aromatic hydrocarbons from bawss by catalytic pyrolysi€hinese
Journal of Catalysis29, 907.

Lu, Q., Zhang, Z. -F., Dong, C. -Q., & Zhu, X¥. (2010). Catalytic upgrading of
biomass fast pyrolysis vapors with nano metal oxiden analytical py-GC/MS study.
Energies 3, 1805-1820.

207



145.

146.

147.

148.

149.

150.

151.

152.

153.

154.

155.

156.

157.

158.

159.

Lu, Q., Zhang, Y., Tang, Z., Li, W. Z., & ZhX. F. (2010). Catalytic upgrading of
biomass fast pyrolysis vapors with titania andamie/titania based catalystsuel, 89,
2096-2103.

Wang, C., Hao, Q., Lu, D., Jia, Q., Li, G.X&, B. (2008). Production of light aromatic
hydrocarbons from biomass by catalytic pyroly€iiinese Journal of Catalysi®9,
907-912.

Stefanidis, S. D., Kalogiannis, K. G., lliggpou, E. F., Lappas, A. A., & Pilavachi, P.
A. (2011). In situ upgrading of biomass pyrolysapurs: Catalyst screening on a fixed
bed reactorBioresource Technolog$02 8261-8267.

KiOR Inc. is a next-generation renewable Suebmpany that has developed a
proprietary technology platform to convert biomas® renewable crude oil that is
processed into gasoline, diesel and fuel oil blevaks (http://www.kior.com/).

KiOR Inc., Biofuel Company, Files Bankrupt@lans Sale. Retrieved, December 4,
2014, from http://www.bloomberg.com/news/articl€d/2-11-10/kior-inc-biofuel-
company-files-bankruptcy-plans-sale

KiOR’s technology, Retrieved, December 4,2GGom
http://www.kior.com/content/?s=11&t=Technology

Anellotech is a green innovation and techgwlocompany developing clean, safe, and
efficient processes for producing bio-based chelsigdtp://anellotech.com/).

CRI/Criterion Inc. I technology. (2012). Retrieved from
http://s04.static-shell.com/content/dam/shell-newdl/business/cri-
catalyst/downloads/pdf/cri-in2.pdf

GTI Gas Technology Institute. (2018)ew IH2® Advanced Biofuels Plant Broadens
Options for Converting Biomass into Transportatiurels.Retrieved from
http://www.gastechnology.org/news/Pages/New-IH2-#ubed-Biofuels-Plant-
Broadens-Options-for-Converting-Biomass-into-Tramggtion-Fuels.aspx

Marker, T.L., Felix, L.G., Linck, M.B., & Robs, M.J. (2012). Integrated
hydropyrolysis and hydroconversion (IH2) for theedi production of gasoline and
diesel fuels or blending components from biomasst B: proof of principle testing.
Environmental Progress & Sustainable Energ¥(2), 191-199.

Marker, T.L., Felix, L.G., Linck, M.B., RobsrtM.J., Ortiz-Toral, P., & Wangerow, J.
(2014). Integrated hydropyrolysis and hydroconwergiiH2) for the direct production
of gasoline and diesel fuels or blending compon&ots biomass, Part 2. continuous
testing.Environmental Progress & Sustainable Ener@$(3), 762—768.

Mante, O. D., Agblevor, F., Oyama, S., & Ma@i, R. (2012). The influence of
recycling non-condensable gases in the fractiorsblygtic pyrolysis of biomass.
Bioresource Technolog$11, 482-490.

Cheng, Y.-T., Wang, Z., Gilbert, C. J., Fah, & Huber, G. W. (2012). Production of
p-Xylene from biomass by catalytic fast pyrolyssng ZSM-5 catalysts with reduced
pore openingsAngewandte Chemie International Editj&i, 11097-11100.

Kantarelis, E., Yang, W., & Blasiak, W. (201&ffect of zeolite to binder ratio on
product yields and composition during catalyticaste pyrolysis of biomass over
transition metal modified HZSM-%-uel, 122, 119-125.

Azeez, A. M., Meier, D., Odermatt, J., & Wak, T. (2011). Effects of zeolites on
volatile products of beech wood using analyticalobysis. Journal of Analytical and
Applied Pyrolysis91, 296—-302.

208



160.

161.

162.

163.

164.

165.

166.

167.

168.

169.

170.

171.

172.

173.

Zheng, A., Zhao, Z., Chang, S., Huang, Z., WuWang, X., He, F., & Li, H. (2014).
Effect of crystal size of ZSM-5 on the aromaticlgiand selectivity from catalytic fast
pyrolysis of biomasslournal of Molecular Catalysis A: Chemi¢8B3-384 23-30.

Li, J., Li, X., Zhou, G., Wang, W., Wang, ®Komarneni, S., & Wang, Y. (2014).
Catalytic fast pyrolysis of biomass with mesopordSM-5 zeolites prepared by
desilication with NaOH solution&pplied Catalysis A: Generad70, 115-122.

Thangalazhy-Gopakumar, S., Adhikari, S., &t@uR. B. (2012). Catalytic pyrolysis
of biomass over H-ZSM-5 under hydrogen presdbnergy & Fuels26, 5300-5306.

Gungor, A., Gonenc, S., Ucar, S., & Yanik2D12). Comparison between the one step
and two step catalytic pyrolysis of pine badournal of Analytical and Applied
Pyrolysis 97, 39-48.

Nguyen, T., Zabeti, M., Lefferts, L., Brem,, & Seshan, K. (2013). Catalytic
upgrading of biomass pyrolysis vapours using fatgazeolite catalystsBiomass and
Bioenergy 48, 100-110.

Wang, L., Lei, H., Ren, S., Bu, Q., Liang,\Wei, Y., Liu, Y., Lee, G.-S. J,, Chen, S.,
Tang, J., Zhang, Q., & Ruan, R. (2012). Aromatied phenols from catalytic pyrolysis
of Douglas fir pellets in microwave with ZSM-5 asaalyst.Journal of Analytical and
Applied Pyrolysis98, 194—200.

Diebold, J., & Scahill, J. (1988). Biomassdgasoline (BTG): Upgrading pyrolysis
vapors to aromatic gasoline with zeolite catalygistmospheric pressure. In J. Soltes,
& T. A. Milne (Eds.),Pyrolysis Oils from Biomasgp. 264—-276). American Chemical
Society.

Stephanidis, S., Nitsos, C., Kalagiannis, Kigpoulou, E. F., Lappas, A. A, &
Triantafyllidis, K. S. (2011). Catalytic upgradirgd lignocellulosic biomass pyrolysis
vapours: Effect of hydrothermal pre-treatment anbassCatalysis Todayl67, 34—45.

Adam, J., Antonakou, E., Lappas, A., Stocker Nilsen, M. H., Bouzga, A., Hustad, J.
E., & Oye, G. (2006). In situ catalytic upgradinfymomass derived fast pyrolysis
vapours in a fixed bed reactor using mesoporousenmadt. Microporous and
Mesoporous Material96, 93—101.

Lu, Q., bo Zhang, Z., chu Yang, X., ging Do@g, & feng Zhu, X. (2013). Catalytic
fast pyrolysis of biomass impregnated withPKy, to produce phenolic compounds:
Analytical Py-GC/MS studyJournal of Analytical and Applied Pyrolysi$04, 139—
145.

Chen, G., Andries, J., & Spliethoff, H. (2D0&atalytic pyrolysis of biomass for
hydrogen rich fuel gas productioRnergy Conversion and Manageme#d, 2289—
2296.

giang Chen, M., Wang, J., xu Zhang, M., g@mhgn, M., feng Zhu, X., fei Min, F., &
cheng Tan, Z. (2008). Catalytic effects of eigldrganic additives on pyrolysis of pine
wood sawdust by microwave heatidgurnal of Analytical and Applied Pyrolysid2,
145-150.

Garcia, L., Salvador, M. L., Arauzo, J., &l#io, R. (2001). Catalytic pyrolysis of
biomass: influence of the catalyst pretreatmengas yieldsJournal of Analytical and
Applied Pyrolysis58-59 491-501.

Bru, K., Blin, J., Julbe, A., & Volle, G. (@0). Pyrolysis of metal impregnated biomass:
An innovative catalytic way to produce gas fugburnal of Analytical and Applied
Pyrolysis 78, 291-300.

209



174.

175.

176.

177.

178.

179.

180.

181.

182.

183.

184.

185.

186.

187.
188.

189.

Lu, Q., Wang, Z., ging Dong, C., fei Zhang, Zhang, Y., ping Yang, Y., & feng Zhu,
X. (2011). Selective fast pyrolysis of biomass iegmwated with ZnGl Furfural
production together with acetic acid and activatadoon as by-productdournal of
Analytical and Applied Pyrolysi91, 273-279.

Lu, Q., ging Dong, C., ming Zhang, X., yuraf, H., ping Yang, Y., & feng Zhu, X.
(2011). Selective fast pyrolysis of biomass impetgd with ZnCJ to produce furfural:
Analytical Py-GC/MS studydournal of Analytical and Applied PyrolysB&0, 204-212.
Lv, P., Chang, J., Wang, T., Wu, C., & Tsupblk A. (2004). Kinetic study on biomass
fast catalytic pyrolysisEnergy & Fuels18, 1865-1869.

Zabeti, M., Nguyen, T., Lefferts, L., Heerbls, & Seshan, K. (2012). In situ catalytic
pyrolysis of lignocellulose using alkali-modifiedharphous silica alumind&ioresource
Technology118 374-381.

Bridgwater, A. V. (2009). Fast pyrolysis obimass. In: Bridgwater, A. V., Hofbauer,
H., & van Loo, S. (Eds.)Thermal Biomass Conversig¢pp. 37-78). CPL Press, UK.
Wright, M. M., Satrio, J. A., Brown, R. C., igaard, D. E., & Hsu, D. D. (November
2010). Techno-economic analysis of biomass fast pyrol{sigransportation fuels
(Technical report). National Renewable Energy Labmy, Golden, Colorado.
Retrieved September 21, 2011, from http://www.gamt/docs/fy110sti/46586.pdf
Djokic, M. R., Dijkmans, T., Yildiz, G., PrindV., & van Geem, K. M. (2012).
Quantitative analysis of crude and stabilized hls-dby comprehensive two-
dimensional gas-chromatograplpurnal of Chromatography,A257, 131-140.

Van Geem, K. M., Pyl, S. P., Reyniers, M. \recammen, J., Beens, J., & Marin, G.
B. (2010). Online analysis of complex hydrocarbartares using comprehensive two-
dimensional gas chromatograpldgurnal of Chromatography,A21743), 6623-6633.
Pyl, S. P., Schietekat, C. M., Van Geem, K, Reyniers, M. -F., Vercammen, J.,
Beens, J., & Marin, G. B. (2011). Rapeseed oil iyletister pyrolysis: On-line product
analysis using comprehensive two-dimensional gasoncatography.Journal of
Chromatography A121§21), 3217#3223.

Williams, P., & Horne, P. (1995). Analysis aomatic hydrocarbons in pyrolytic oll
derived from biomasslournal of Analytical and Applied Pyrolysi®l, 15-37.

Boucher, M., Chaala, A., Pakdel, H., & Roy,(2000). Stability and ageing of bio-oil
and its blends with methanol and a pyrolytic agsepbaseBiomass and Bioenergy
19, 351-361.

Zhao, Y., Deng, L., Liao, B., Fu, Y., & Guo, R. (2010). Aromatics production via
catalytic pyrolysis of pyrolytic lignins from bioHo Energy & Fuels24, 5735-5740.

Kersten, S., Van Swaaij, W., Lefferts, L., &8an, K. (2007). Options for catalysis in
the thermochemical conversion of biomass into fuklsG. Centi, & R. Van Santen
(Eds.),Catalysis for renewables: From feedstock to engngpduction(pp. 119-147).
Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim.
https://www.ecn.nl/phyllis2/Home/Help. Reteel October 26, 2014.

Van Krevelen, D. W. (1950). Graphical statadtmethod for the study of structure and
reaction processes of coklel, 29, 269-284.

Wildschut, J., Mahfud, F. H., Venderbosch, R., & Heeres, H. J. (2009).
Hydrotreatment of fast pyrolysis oil using hetenogeus noble-metal catalysts.
Industrial & Engineering Chemistry Reseaydi8, 10324—-10334.

210



190.

191.

192.

193.

194.

195.

196.

197.

198.

199.

200.

201.

202.

203.

204.
205.

206.

loannidou, O., Zabaniotou, A., Antonakou\E. Papazisi, K. M., Lappas, A. A., &
Athanassiou, C. (2009). Investigating the potental energy, fuel, materials and
chemicals production from corn residues (cobs & by non-catalytic and catalytic
pyrolysis in two reactor configurationRenewable and Sustainable Energy Reviews
13(4), 750-762.

Oasmaa, A., Elliott, D. C., & Korhonen, JO1R). Acidity of biomass fast pyrolysis
bio-oils. Energy & Fuels24, 6548—-6554.

Lehto, J., Oasmaa, A., Solantausta, Y., KM§,& Chiaramonti, D. (2014). Review of
fuel oil quality and combustion of fast pyrolysi®wils from lignocellulosic biomass.
Applied Energy116 178-190.

Westerhof, R. J. M., Brilman, D. W. F., GarBlerez, M., Wang, Z., Oudenhoven, S. R.
G., Van Swaaij, W. P. M., & Kersten, S. R. A. (2D1Eractional condensation of
biomass pyrolysis vaporEnergy & Fuels25, 1817-1829.

Gaertner, C. A., Serrano-Ruiz, J. C., Brad®nJ., Dumesic, J. A. (2009). Catalytic
coupling of carboxylic acids by ketonization asragessing step in biomass conversion,
Journal of Catalysis266 (1) 71-78.

Williams, P. T., & Horne, P. A. (1995). Thd&luence of catalyst regeneration on the
composition of zeolite-upgraded biomass pyrolydis &uel, 74, 1839-1851.

Milne, T. A., Brennan, A. H., & Glenn, B. H1990). Sourcebook of methods of
analysis for biomass and biomass conversion prese$dsevier Applied Science,
London.

Goyal, H., Seal, D., & Saxena, R. (2008).-iiels from thermochemical conversion of
renewable resources: A revielRenewable and Sustainable Energy Revieli®
504-517.

Bartholomew, C. H. (2001). Mechanisms of lyatadeactivationApplied Catalysis A:
General 212 17-60.

M. Guisnet, & F. R. Riberio (Eds.). (201Deactivation and regeneration of solid
catalysts(pp. 3—18). Imperial College Press, UK.

Cerqueira, H., Caeiro, G., Costa, L., & RibeiF. R. (2008). Deactivation of FCC
catalystsJournal of Molecular Catalysis A: Chemi¢aP2 1-13.

Marcilla, A., Beltran, M., Hernandez, F., &aWarro, R. (2004). HZSM5 and HUSY
deactivation during the catalytic pyrolysis of peatlyylene. Applied Catalysis A:
General 278 37-43.

Cerqueira, H. S., Ayrault, P., Datka, J., &isBet, M. (2000). Influence of coke on the
acid properties of a USHY zeolit®icroporous and Mesoporous Material38, 197—
205.

Triantafillidis, C. S., Vlessidis, A. G., Naindian, L., & Evmiridis, N. P. (2001). Effect
of the degree and type of the dealumination metivothe structural, compositional and
acidic characteristics of H-ZSM-5 zeolitddicroporous and Mesoporous Materials
47, 369-388.

https://www.ecn.nl/phyllis/defs.asp. Retriéwéarch 2014.

Schofield, K. (2008). The enigmatic mechanwsirthe flame ionization detector: Its
overlooked implications for fossil fuel combustiorodelling. Progress in Energy and
Combustion Scieng84(3), 3306-350.

Bridgwater, A. V. (1999). Principles and piee of biomass fast pyrolysis processes
for liquids.Journal of Analytical and Applied Pyrolysil, 3—22.

211



207.

208.

2009.

210.

211.

212.

213.

214,

215.

216.

217.

218.

219.

220.

221.

222.

Bridgwater, A., Meier, D., & Radlein, D. (199 An overview of fast pyrolysis of
biomassOrganic Geochemistnd0, 1479-1493.

Oasmaa, A., & Kuoppala, E. (2003). Fast pwisl of forestry residue. 3. Storage
stability of liquid fuel.Energy & Fuels17, 1075-1084.

Vitolo, S., Bresci, B., Seggiani, M., & GalldM. (2001). Catalytic upgrading of
pyrolytic oils over HZSM-5 zeolite: Behaviour ofelcatalyst when used in repeated
upgrading-regenerating cycldauel, 80, 17-26.

Keown, D. M., Hayashi, J-i., & Li, C. -Z. @8). Effects of volatile—char interactions
on the volatilisation of alkali and alkaline earttetallic species during the pyrolysis of
biomassFuel, 87, 1187-1194.

Nik-Azar, M., Hajaligol, M., Sohrabi, M., &abir, B. (1997). Mineral matter effects in
rapid pyrolysis of beech wooBuel Processing Technologyl, 7-17.

Patwardhan, P. R., Satrio, J. A., Brown, R.&Shanks, B. H. (2010). Influence of
inorganic salts on the primary pyrolysis produdtseailulose.Bioresource Technology
101, 4646—-4655.

Eom, I. -Y., Kim, K. -H., Kim, J. -Y., Lee, 8M., Yeo, H. -M., & Choi, I. -G. (2011).
Characterization of primary thermal degradationtue=s of lignocellulosic biomass
after removal of inorganic metals by diverse solseBioresource Technologyl 02,
3437-3444.

Shimada, N., Kawamoto, H., & Saka, S. (20D&ferent action of alkali/alkaline earth
metal chlorides on cellulose pyrolysurnal of Analytical and Applied Pyrolysi®l,
80-87.

DeGroot, W. F., & Shafizadeh, F. (1984). Tifeience of exchangeable cations on the
carbonization of biomas38ournal of Analytical and Applied Pyrolys& 217-232.

Aho, A., DeMartini, N., Pranovich, A., Krogjel., Kumar, N., Eranen, K., Holmbom,
B., Salmi, T., Hupa, M., & Murzin, D. Yu. (2013)yplysis of pine and gasification of
pine chars — Influence of organically bound metBisresource Technology28 22—
29.

Mourant, D., Wang, Z., He, M., Wang, X. Sar8a-Perez, M., Ling, K., & Li, C. -Z.
(2011). Mallee wood fast pyrolysis: Effects of diknd alkaline earth metal species on
the yield and composition of bio-ofuel, 90, 2915-2922.

Mullen, C. A., & Boateng, A. A. (2013). Acculation of inorganic impurities on
HZSM-5 zeolites during catalytic fast pyrolysis of swigcass. Industrial &
Engineering Chemistry Resear&?, 17156-17161.

Paasikallio, V., Lindfors, C., Kuoppala, Bglantausta, Y., Oasmaa, A., Lehtoa, J., &
Lehtonen, J. (2014). Product quality and catalgstctivation in a four day catalytic fast
pyrolysis production runGreen Chemistryl6, 3549-3559.

Livingston, W. R. (2007Biomass ash characteristics and behaviour in cornibos
gasification and pyrolysis system®oosan Babcock Energy Limited. Retrieved
November 2015, from__https://antioligarch.files.worelss.com/2014/12/biomass-fly-
ash-characteristics-behaviour-in-combustion.pdf

Du, S., Yang, H., Qian, K., Wang, X., & Chéh, (2014). Fusion and transformation
properties of the inorganic components in biomasskuel, 1178 1281-1287.
Sekiguchi, Y., & Safizadeh, F. (1984). Thdeelf of inorganic additives on the
formation, composition, and combustion of cellutosihar.Journal of Applied Polymer
Science29, 1267-1286.

212



223.

224.

225.

226.

227.

228.

229.

230.

231.

232.

233.

234.

235.

236.

237.

Piskorz, J., Radlein, D. S. A. G., Scott,D, & Czernik, S. (1989). Pretreatment of
wood and cellulose for production of sugars by fasblysis.Journal of Analytical and
Applied Pyrolysis16, 127-142.

Ronsse, F., Bai, X., Prins, W., & Brown, R. 012). Secondary reactions of
levoglucosan and char in the fast pyrolysis of utefie. Environmental Progress &
Sustainable Energy1l, 256—260.

Kawamoto, H., Yamamoto, D., & Saka, S. (2008jluence of neutral inorganic
chlorides on primary and secondary char formatimmf cellulose.Journal of Wood
Scienceb4, 242-246.

Samolada, M., Baldauf, W., & Vasalos, I. @P9Production of a bio-gasoline by
upgrading biomass flash pyrolysis liquids via hygko processing and catalytic
cracking.Fuel, 77, 1667-1675.

Samolada, M. C., & Vasalos, I. A. (1996). duction of transportation fuels by
upgrading of biomass flash pyrolysis liquids viaG-@chnology. In: P. Chartier, G. L.
Ferrero, U. M. Henius, S. Hultberg, J. Sachau, & \WMiinblad (Eds.).Biomass for
energy and the environmerp.p. 1578-1583). Proceedings of the 9th European
Bioenergy Conference. Volume 3.

Agblevor, F. A., Mante, O., McClung, R., & &ya, S. (2012). Co-processing of
standard gas oil and biocrude oil to hydrocarbogisfuBiomass and Bioenergybs,
130-137.

Oudenhoven, S. R. G., Westerhof, R. J. M.eAkdmp, N., Briiman, D. W. F., &
Kersten, S. R. A. (2013). Demineralization of waeing wood-derived acid: Towards
a selective pyrolysis process for fuel and chemigaibductionJournal of Analytical
and Applied Pyrolysisl03 112-118.

Asadieraghi, M., Daud, W. M. A. W., & Abbas, H (2015). Heterogeneous catalysts
for advanced bio-fuel production through catalygiomass pyrolysis vapor upgrading:
a review.RSC Advance$, 22234-22255.

Liu, C., Wang, H., Karim, A. M., Sun, J., & W@ Y. (2014). Catalytic fast pyrolysis of
lignocellulosic biomassChemical Society Reviews3, 7594—-7623.

Islam, M. N., & Ani, F. N. (2000). Techno-econics of rice husk pyrolysis,

conversion with catalytic treatment to produce iligfwel. Bioresource Technology3,
67-75.

Prins, W., Harmsen, G. J., de Jong, P., & Samaij, W.P.M. (1989)Heat transfer
from an immersed fixed silver sphere to a gas ited bed of very small particles
Proceedings of the 6th Int. Conf. on Fluidizati®@gnff, Canada (J.R. Grace, L.W.
Shemilt and M.A. Bergougnou, Eds.), Engineering rietation, New York, pp. 677—
684.

Zhang, H., Shao, S., Xiao, R., Shen, D., &deh (2014). Characterization of coke
deposition in the catalytic fast pyrolysis of bisaaderivatesEnergy & Fuels 28,
52-57.

Rhodes, M. J. (1998). Mixing and segregationintroduction to Particle Technology
(pp. 223-240). West Sussex, England: John Wileyo&s3 td.

Scott, D. S., Piskorz, J. (1984). The contisudlash pyrolysis of biomasshe
Canadian Journal of Chemical Engineerji&f(3), 404—412.

Wilson, J.W. (1997). Fluid catalytic crackingechnology and operation. Pennwell
Books.

213



238. Bridgwater A. V. et al. (1999%ast pyrolysis of biomass: A handbodikA Bioenergy,
CPL Press, Berkshire, UK.

239. lliopoulou, E. F., Stefanidis, S., Kalogiannis, K., Psarras, A. C., Delimitis, A,
Triantafyllidis, K. S., & Lappas A. A. (2014). Pilot-scale validation of Co-ZSM-5
catalyst performance in the catalytic upgrading of biomass pyrolysis vaéanasn
Chemistry 16, 662—674.

214



Appendix A

This appendix includes the physical and chemical properties of the catalysts used. This
appendix is confidential and can only be accessed by signing a confidentiality agreement.






Appendix B

This appendix includes detailed explanations regarding the findings shown in Chapter 4 in
thisthesis. This appendix is confidential and can only be accessed by signing a confidentiality
agreement.






Acknowledgements

First and foremost, | would like to express my snecgratitude to my academic supervisor
Prof. Dr. ir. Wolter Prins for his continuous suppaduring the course of my doctoral studies.
His expertise, experience, and immense knowleddadamass conversion guided me at all
stages of writing of this thesis. Wolter, your argiasm has proven an invaluable contribution
to this research and | am heartedly proud of b#iedirst Ph.D of your professorship. Next, |
would like to extend my thanks to Prof. Dr. ir. &eeik Ronsse, my co-promoter, for his
extensive guidance. Frederik, your straightforwi@chnical input provided new insights and
elucidations to many theoretical and practical wis during the course of writing this
thesis. Next to my promoters, | would like to thattkthe members of the examination
committee; Prof. Dr. ir. Korneel Rabaey (chairmdpf. Dr. ir. Jo Dewulf (secretary), Prof.
Dr. ir. Sascha R. A. Kersten, Dr. Dietrich MeierpP Dr. ir. Hero Jan Heeres, and Prof. Dr.
ir. Kevin M. van Geem, for their valuable commerged constructive criticism that
remarkably improved this manuscript. It is a gfeatour for me to make this thesis approved
by such respectful scientists.

This research was technically and financially sufgzbby Albemarle Catalyst Company B.V.
(Amsterdam, The Netherlands). Dr. Ruben van Durag, shadow advisor, is specially

acknowledged for sharing his expertise with me biothpetrochemistry/catalysis and in

biomass conversion. Ruben, thanks a lot for pragdme countless technical ideas and
insightful comments. | was also fortunate to mewt aollaborate with several people from
Albemarle: Dr. Stefan Janbroers, Dr. Milena Rosssi¥, Kar-Ming Au-Yeung, and Marty

Pronk, whose valuable contribution led to a sudoésgstiation of this project.

Daan Assink from Biomass Technology Group, BTG (Eesle, The Netherlands) is

acknowledged for his contributions during the cardton and the optimization of the mini-

plant. | still remember the countless hours thatspent in the lab. Thanks Daan. Moreover,
Dr. Robbie Venderbosch from BTG is also acknowledfyg reviewing some of my drafts

and sharing his vast knowledge about biomass ceiorer

The construction of the mechanical stirred bedtoEadYReactor) was held in the labs of
Sustainable Process Technology (SPT) group of Wsityeof Twente. | would like to thank
Prof. Dr. ir. Sascha Kersten for providing us thpgportunity and letting me work in the High
Pressure Lab for the optimization of the setup.ri®eKnaken and Johan Agterhorst are
heartedly acknowledged for the construction ofsbtup and for their technical help during
the setup optimization.

Marko Djokic and Hilal Ezgi Toraman from Laboratdigr Chemical Technology (LCT) of
Ghent University are acknowledged for performingias analyses of my solid and liquid
samples. My sincere thanks also go to Prof. Drkavin van Geem and Prof. Dr. ir. Guy
Marin for giving us this opportunity.



| thank my fellow office and lab mates in the Deapeent of Biosystems Engineering of Ghent
University: Wasan, Leentje, Robert, Kris, Jop, Dab&ego, Thomas, Matthijs, Caroline,
Celia, Lucie, Neil, Mehmet, and the others thatigimh have forgotten, for their presence in
the last five years. Moreover, thesis and intemstiidents that worked under my tutorship:
Jalle, Tom, Dries, Cedric, Asli, Imran, Stijn artetothers, it was very nice to learn and
experience together with you. It is also importaat acknowledge the administrative,
secretarial, and technical support, provided in riiest efficient and effective manner, by
Prof. Dr. ir. Jan Pieters (head of Department afsgstems Engineering), Dieter lemants and
Lut De Wit (department secretaries), and Eddy p$ifdepartment technician).

Last but not least, | would like to thank countlgssople for sharing the life with me
throughout the years that | spent in Gent. If yeadrthis, you know who you are. Thank you
for being next to me.

Cok degerli aileme; annem Guilay Yildiz, babam M. Girseld¥, ve kardgim Gorkem
Yildiz’a, hayatimin ve doktora surecimin hegamasinda yanimda olduklari ve beni
destekledikleri icin ¢cok tekkir ediyorumAnnecim ve babacimu anda elinizde bulunan
kitap sizin eserinizdir. Ben sadece naciz bir argldum. Baimizdan eksik olmayin.

Guray

Gent, March 2015



Curriculum Vitae

Guray YILDIZ

Date of Birth: 29 April 1982 Email: guryildiz@grhaom
Citizenship: Republic of Turkey

Professional experience

Sept. 2013 — ...
2009 — 2013
2008 — 2009
2007 — 2008
2006 — 2007
Education
Sept. 2009 — ...
2007 — 2009

Scientific researcher at Ghenvéfsity, Ghent, Belgium

Doctoral researcher at Ghent Univer&hent, Belgium

Scientific researcher at Ege Universtyir, Turkey

Sales representative, Hewlett&Packatdrgrise Services, Izmir, Turkey
Tutor of chemistry and mathematicsjriziurkey

Doctor of Philosophy (Ph.D.) in Aegl Biological Sciences, Option:
Chemistry and Bioprocess Technology.
Faculty of Bioscience Engineering, Department mfsBstems Engineering,
Ghent University, Ghent, Belgium.
Promoter: Prof. Dr. ir. Wolter Prins
Co-promoter: Prof. Dr. ir. Frederik Ronsse
Thesis title: Catalytic Fast Pyrolysis of Biomasssupported by and
collaborated with Albemarle Catalyst Company B.¥Amsterdam, The
Netherlands; Biomass Technology Group B.V. (BTG)s&hede, The
Netherlands; Sustainable Process Technology GrdupJroversity of
Twente, Enschede, The Netherlands; Laboratory feen@cal Technology
(LCT), Ghent University, Ghent, Belgium.

Master of Science (M.Sc.) in Chemicajigeering.
Faculty of Engineering, Department of Chemical BEegring (English),
Ege University, 1zmir, Turkey.
Promoters: Prof. Dr. Levent Ballice, Prof. Dr. Nat Yuksel
Thesis title:Hydrogen and/or Methane Production from Glycerolirids
Catalytic Gasification Processes with PhosphoricidA@and Salts of
Phosphoric Acid in Supercritical WateiThis project was supported by
TUBITAK (The Scientific and Technological Research Gouaf Turkey)
Engineering Research Group, Project No:107M480.



2001 — 2007 Bachelor of Science (B.Sc.) in Chenttcajineering.

Faculty of Engineering, Department of Chemical Begring (English),
Ege University, 1zmir, Turkey.

Supervisor: Prof. Dr. Levent Ballice

Design project titleOverall Design of a Plant, producing “Cumene from
Propylene, Propane and Benzene”

Graduation thesis titld:iquefaction of Solid Fuels and Characterization of
Liquefaction ProductsResearch experiments were (partially) perfornmed i
PETKIM Inc.

2003 — 2007 Bachelor’'s Degree in Business Admatistn (B.B.A.).

Faculty of Business Administration, Department of usBess
Administration, Anadolu University, Eskisehir, Tenk

Scientific publications (by April 2015)

A1l (Articlesin international journals with peer review, listed in 1 SI-Web of
Science)

1. Yildiz, G., Ronsse, F., Venderbosch, R., van Duren, R.t&rsS. R. A., & Prins, W.
(2015). Effect of biomass ash in catalytic fastghysis of pine woodApplied Catalysis
B: Environmentgl 168 203-211. (IF: 6.007; Q1 in the category of Chemical
Engineering)

2. Yildiz, G., Lathouwers, T., Toraman, H. E., van Geem, K. Mkyin, G. B., Ronsse, F.,
van Duren, R., Kersten, S. R. A., & Prins, W. (201@atalytic fast pyrolysis of pine
wood: effect of successive catalyst regeneratiorergy & Fuels 28, 4560-4572. (IF:
2.733; Q1 in the category of Chemical Engineering)

3. Yildiz, G., Pronk, M., Djokic, M, van Geem, K. M., Ronsse, \Fan Duren, R., & Prins,
W. (2013). Validation of a new set-up for continsaatalytic fast pyrolysis of biomass
coupled with vapour phase upgradidgurnal of Analytical and Applied Pyrolysi$03
343-351. (IF: 3.070; Q1 in the categories of AriaaftChemistry, Spectroscopy)

4. Ameloot, N., De Neve, S., Jegajeevagan, Yldiz, G., Buchan, D., Funkuin, N.Y.,
Prins, W., Bouckaert, L., & Sleutel, S. (2013). 8term CQ and NO emissions and
microbial properties of biochar amended sandy Isaits. Soil Biology & Biochemistry
57, 401-410. (IF: 4.410; Q1 in the category of SaikBce)

5. Djokic, M. R., Dijkmans, T.Yildiz, G., Prins, W., & van Geem, K. M. (2012).
Quantitative analysis of crude and stabilized hls-oy comprehensive two-dimensional
gas-chromatographylournal of Chromatography ,AL257 131-140. (IF: 4.258; Q1 in
the categories of Analytical Chemistry, BiochemiRalsearch Methods)

A1l (Articlesin international journals with peer review, listed in 1 SI-Web of
Science) submitted and/or in progress

1. Yildiz, G., Ronsse, F., Vercruysse, J., Daels, J., Toramak,,H/an Geem, K. M., van
Duren, R., & Prins, W. (2015). Screening metal dbpatalysts in situ for continuous
catalytic fast pyrolysis of pine wood. Submitted Journal of Analytical and Applied
Pyrolysis.(IF: 3.070; Q1 in the categories of Analytical Gfistry, Spectroscopy)



2. Yildiz, G., Ronsse, F., van Duren, R., & Prins, W. (2015)al@nges in the design and
operation of processes for catalytic fast pyrolggibiomass. Submitted ®Renewable &
Sustainable Energy Reviewl~: 5.510; Q1 in the category of Energy & Fuels)

C1 (Articles published in proceedings of scientific conferences and/or
Ssymposia)

1. Yildiz, G., Ronsse, F., Prins, W., Assink, D., Gerritsen,Man Duren, R., & Rosso-
Vasi, M. (2011). Catalytic fast pyrolysis of biomagairopean biomass conference and
exhibition proceedinggpp. 1145-1148). Presented at the 19th Europeamds
Conference and Exhibition, Berlin, Germany.

2. Yildiz, G., Ronsse, F., Prins, W., Rosso-\tadul., Van Duren, R., & Janbroers, S.
(2012). Catalytic fast pyrolysis of biomassmmunications in Agricultural and Applied
Biological Scienceg¢Vol. 77, pp. 73—-77). Presented at the 17th Nati@ymposium on
Applied Biological Sciences, Katolieke Universite¢uven (KUL), Leuven, Belgium.

C3 (Active participation to symposia, conferences, or workshops with oral
presentation)

1. Yildiz, G, Ronsse, F., Van Geem, K., van Duren, R., Ker§eR., & Prins, W. (2014).
Effect of biomass originated ash in catalytic fagtolysis of biomass. In A. S. Noskov
(Ed.), CHEMREACTOR-21 XXI international conference on chemical reactors
Proceedingqpp. 126-127). Presented at the 21st Internatiooalerence on Chemical
Reactors (CHEMREACTOR-21), Delft University of Tedbogy, Delft, The
Netherlands.

2. Yildiz, G., Lathouwers, T., Toraman, H. E., Van Geem, K., $3en F., van Duren, R.,
Kersten, S. R., & Prins, W. (2014). Effect of seufisd catalyst regeneration in catalytic
fast pyrolysis of biomassAnalytical and Applied Pyrolysis, 20th Internatibna
symposium, Conference guide and abstra@p. 129-129). Presented at the 20th
International symposium on Analytical and Appliedyrdlysis (PYRO 2014),
Birmingham, United Kingdom.

3. Yildiz, G., Au-Yeung, K.-M., Ronsse, F., van Duren, R., &BriW. (2012). Catalytic
Fast Pyrolysis of BiomassXX International conference on chemical reactors
“CHEMREACTOR-20" abstracts (pp. 103-104). Presented at the 20th International
conference on Chemical Reactors (ChemReactor 28grhburg.

4. Yildiz, G., Ronsse, F., Au-Yeung, K.-M., Rosso-Vasic, M., \uren, R., & Prins, W.
(2012). Catalytic fast pyrolysis of biomasa&nalytical and Applied Pyrolysis, 19th
International symposium, Abstrac{pp. 95-95). Presented at the 19th International
symposium on Analytical and Applied Pyrolysis (Rysis 2012), Johannes Kepler
University, Linz, Austria.

5. Yildiz, G., Ronsse, F., van Duren, R. & Prins, W. (2015).ay8t fast pyrolysis of
biomass: From lab-scale research to industrial iegdns. European biomass
conference and exhibition proceedingBresented at the 23rd European Biomass
Conference and Exhibition, Wien, Austria.



C3 (Active participation to symposia, conferences, or workshops with
poster presentation)

1. Yildiz, G., Ronsse, F., & Prins, W. (2014). Testing the $tgbof a ZSM-5 catalyst
under biomass fast pyrolysis conditiomspplied Biological Sciences, 19th National
symposium, Abstract®resented at the 19th National symposium on gdpliological
Sciences, Gembloux, Belgium.

C3 (Contributionsto oral presentationsor posters)

1. Van Geem, K., Toraman, H. E., Schietse, M., Bpt€., Vanholme, R., Gerber, L.,
Djokic, M., Yildiz, G., Ronsse, F., Prins, F., Sundberg, B., Boerjan,&\Marin, G.B.
(2013). Biomass reaction engineering driving genetodification.American Institute of
Chemical Engineers Annual meeting, AbstraPtesented at the 2013 American Institute
of Chemical Engineers Annual meeting (AIChE), SeamEisco, CA, USA.

Invited reviewer in international scientific journals

Energy Conversion and Management (Elsevier), Bien&®Bioenergy (Elsevier), Chemie
Ingenieur Technik (Wiley-VCH).





