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Abstract: The efficiency of a fluidized bed reactor depends on the bed fluid dynamic behavior, which
is significantly influenced by the bubble properties. This work investigates the bubble properties of a
bubbling fluidized bed reactor using computational particle fluid dynamic (CPFD) simulations and
electrical capacitance tomography (ECT) measurements. The two-dimensional images (along the
reactor horizontal and vertical planes) of the fluidized bed are obtained from the CPFD simulations
at different operating conditions. The CPFD model was developed in a commercial CPFD software
Barracuda Virtual Reactor 20.0.1. The bubble behavior and bed fluidization behavior are characterized
form the bubble properties: average bubble diameter, bubble rise velocity, and bubble frequency.
The bubble properties were determined by processing the extracted images with script developed in
MATLAB. The CPFD simulation results are compared with experimental data (obtained from the
ECT sensors) and correlations in the literature. The results from the CPFD model and experimental
measurement depicted that the average bubble diameter increased with an increase in superficial
gas velocities up to 4.2 Um f and decreased with a further increase in gas velocities due to the onset
of large bubbles (potential slugging regime). The bubble rise velocity increased as it moved from
the lower region to the bed surface. The Fourier transform of the transient solid volume fraction
illustrated that multiple bubbles pass the plane with varying amplitude and frequency in the range
of 1–6 Hz. Further, the bubble frequency increased with an increase in superficial gas velocity up to
2.5Um f and decreased with a further increase in gas velocity. The CPFD model and method employed
in this work can be useful for studying the influence of bubble properties on conversion efficiency of
a gasification reactor operating at high temperatures.

Keywords: fluidized bed; bubble diameter; bubble rise velocity; bubble frequency; computational
particle fluid dynamic; image processing

1. Introduction

Fluidized beds are extensively used in applications such as chemical regeneration,
catalytic conversion, gasification, chemical synthesis, and pneumatic transportation, and
each of these process applications requires a unique fluidization regime. The fluidization
bed regimes include minimum fluidization, bubbling, turbulent, fast fluidization, and
pneumatic conveying [1–4]. The types of regimes are mainly dependent on the fluidiz-
ing gas velocity, density, and particles size of the bed material, aspect ratio, and reactor
dimension [5,6]. The major advantages of fluidized bed include efficient heat transfer,
better temperature control, good mixing, and better solid circulation. In order to achieve
the benefits of a fluidized bed, firstly, the reactor must be operated strictly within the
specific fluidization regime required for the process. Secondly, the problem associated with
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fluidized beds must be avoided for a smooth reactor operation and to achieve the desired
process efficiency. However, the two-phase flow of gas–solid coupled with heat and mass
transfer and series reactions in the fluidized bed reactors are complex and not yet fully
understood. Challenges in operating fluidized bed reactors such as lower chemical conver-
sion, non-uniform products, agglomeration, entrainment of particles, and reactor failure are
often reported. These difficulties encountered while operating fluidized bed reactors can
be overcome with a thorough understanding of the fluid dynamic behavior of the reactor
and bubble dynamics in the bed. The major objective of this paper is to investigate the fluid
dynamics behavior of a bubbling fluidized bed (BFB) which is significantly influenced by
the bubble properties.

An appropriate regime in a bubbling fluidized bed can be characterized by the better
fluidization quality of the bed without any slug. Ideally, for better fluidizing quality of the
bubbling bed, the bubbles should be large in number, uniformly distributed across the bed,
and smaller in size. The bubbles formed in a fluidized bed are primarily responsible for
good solid circulation, and gas–solid contact area, which determines the heat and mass
transfer within the reactor. As the bubble rises from the bottom of the bed to the top, it
carries particles with it, thus mixing binary particles in a gasification reactor. For a given
gas velocity, the bubbling behavior of the fluidized bed can be characterized by the bubble
properties such as bubble diameter, bubble rise velocity, and bubble frequency. The bubbles
in dense fluidized beds are the regions where the particle concentration is low, whereas
the region with higher solid concertation is referred to as the emulsion phase. As the
fluidizing gas passes through the lower part of the bed (from the distributor), bubbles are
formed. The bubbles grow in size, merge, split, and may disappear as they move within
the bed. The bubble size in the fluidized bed is influenced by the air distribution, particle
size distribution, bed geometry, superficial gas velocities, and bed height [7,8]. When the
bubble size grows and equals the bed diameter, the bed tends to shift from bubbling to
slugging, and the types of slugs can be axial slugs, wall slugs, and flat slugs [5]. There can
be a slug in a bed with a smaller reactor diameter even if the bubble size is smaller than
the bed diameter. Kunii et al. [5] showed that wall effect retards the rise velocity of the
bubble when the ratio between bubble diameter and bed diameter is greater than 0.125
and also illustrated that when the ratio between bubble diameter to bed diameter is greater
than 0.6, the bed transits from bubbling to slugging. The large size bubbles in the bed
mean increased bubble rise velocity; thus, the bubbles may bypass the bed, reducing the
residence time of gas phase and gas-to-solid contact time inside the reactor. Therefore,
operating the bubbling bed with optimal bubbles size, velocity, and frequency is crucial for
reactor safety and efficient fuel conversation.

Measurement Techniques in a Fluidized Bed

The fundamental understanding of bubble solid hydrodynamics in a fluidized bed
can be achieved from the bubble properties that include bubble shape and size, bubble
rise velocity, bubble frequency, etc. [8–10]. The bubble properties in a fluidized bed can be
measured from experimental measurements and CFD simulations that produce reliable
data. Several experimental measurement techniques have been proposed to measure the
properties of fluidized bed and study its fluid dynamics behavior [11,12]. The measure-
ment techniques broadly include intrusive techniques and non-intrusive techniques. The
intrusive techniques consist of resistance, inductance, and thermal probes [13,14], while the
non-intrusive techniques are based on imaging, laser, and tomography methods [15,16].
The major disadvantages of intrusive measurement techniques are that insertion of the
probe inside the bed hinders the fluid dynamics behavior. The non-intrusive measure-
ment techniques, on the other hand, can be used to measure bubble properties without
interfering the flow hydrodynamics. Among the non-intrusive techniques (X-ray, γ-ray,
and Ultrasonic tomography), electrical capacitance tomographic (ECT) is faster and can
be used in real-time applications [15]. The ECT measurement techniques employ sensors
that measure the relative permittivity between two non-conducting phases. The bubble
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properties, for instance, bubble diameter and frequency, can be calculated based on the
solid-to-void fraction extracted from the permittivity measurement. The velocity of bubbles
can be obtained via a reconstruction method, for example, cross-correlation techniques,
that gives a measurement of the bubble rising time from one sensor to another sensor
position [17]. In such cases, the placement of the sensor is very important since the bubbles
may split or coalesce as they rise from one position to another within the bed, making it
difficult to track a single bubble. Reducing the spacing between the sensors can address
such an issue; however, to avoid signal interference, the sensors cannot be too close. In this
regard, another simple non-intrusive method to study the bubble properties in a fluidized
bed, for instance, digital imaging technique, can be a reliable technique. With the digital
imaging technique, images of the bed hydrodynamics are captured at different time frames,
and the bubble properties are identified from the extracted images [18,19]. This work
employs the digital imaging technique and ECT sensors for the measurement of bubble
properties in a BFB reactor.

The non-intrusive experimental methods have been widely applied to identify the bub-
ble properties; however, there are many challenges associated with experimental techniques.
For instance, the experimental methods are expensive, and often such measurements are
only carried out on a pilot-scale plant that produces specific results which may not represent
the large-scale reactor conditions. Conducting experiments to observe the hydrodynamics
properties of fluidized bed large-scale reactors in such a harsh environment and opaque
nature of the reactor is extremely difficult. Moreover, to study the influence of different
parameters that primarily influence the fluidized bed hydrodynamics, it is impossible to
change the reactor dimensions, sensor positions, and other parameters during experimen-
tation. Such experimental difficulties to identify the fluidized bed hydrodynamics can
be overcome using Computational Fluid Dynamics (CFD) simulations. Several studies
have been carried out to study fluidized bed hydrodynamics using a CFD model in the
past. There are mainly two types of CFD approach used to study flow dynamics of the flu-
idized bed: the Eulerian-Eulerian method (continuum) and Eulerian–Lagrangian method
(Continuum-Discrete) [20,21]. In the Eulerian-Eulerian approach, one particle phase is
considered where only two interacting phases exist, one particle phase and the gas phase,
which is called as Two-Fluid Model (TFM). TFM is widely used to study and simulate
fluidized bed hydrodynamics [22,23]. However, the major drawback with the TFM method
is that it accounts for the particles with the same density, diameter, and coefficient of
restitution which often results in inaccurate prediction of the bed properties [24]. In the
Eulerian–Lagrangian approach, discrete element models (DEM), on the other hand, are
more reliable and predict better results than TME [25]. Individual particles are tracked
with the DEM method, and particle–particle collision is considered, unlike the TFM model.
Therefore, DEM requires enormous computing power to simulate real fluidized bed sys-
tems. Another Eulerian–Lagrangian approach, CPFD, that uses a multiphase particle-in-cell
approach (MP-PIC), has gained popularity recently due to its capacity to simulate natural
fluidized bed systems. In the MP-PIC approach, particles with the same properties, such
as density, volume, etc., are grouped to form a parcel. Barracuda V.R. is a commercial
CPFD software that uses the MPIC approach to simulate real fluidized bed systems [26,27].
Many studies have focused on using CPFD to study different fluidized bed systems [28,29].
Despite existing studies, there are some publications with the CPFD model on 3D bubbling
fluidized beds that can predict the bubble properties [30]. Proper validation of the CPFD
model to predict bubble properties of the bubbling fluidized bed with experimental work
is still needed. In addition, digital imaging techniques applied for the measurement of
the bubble properties from the three-dimensional CPFD simulation with experimental
validation are scarce.

This work investigates the fluid dynamic behavior and bubble properties of a BFB
reactor with Geldart B particles using CPFD simulations. The fluid dynamic behavior
of a BFB was characterized from the bubble properties: bubble diameter, bubble rise
velocity, and bubble frequency. The bubble properties were measured from the images
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extracted from the plane at transient simulation time step. To illustrate the robustness of the
CPFD model, the properties of the bed measured from the CPFD model at each superficial
gas velocity are compared with the experimental data and different correlations. The
experimental work has been carried out at an ambient condition on a bubbling fluidized
bed with ECT sensors. The 2D raw data obtained from the ECT measurements are processed
in MATLAB to measure the bubble properties.

2. Materials and Methods
2.1. Computational Particle Fluid Dynamic Model

The simulations in this work were carried out using the CPFD software Barracuda VR,
which is commercial software specially designed for the application in multiphase flow
systems such as fluidized bed reactors. Unlike other CFD software, the main advantages
of using Barracuda VR are that it facilitates defining particle species with particle size
distribution. It allows to define and simulate computational particles in order of 1015 and
higher. Additionally, it uses 3D multiphase particle-in-cell approach for simulation of gas-
particle flows and considers fluid-particle coupling with detailed consideration of thermal
physics and reaction chemistry. For the fluid-particle simulations, Barracuda virtual reactor
uses a combined Eulerian and Lagrangian approach where the solid particles are modeled
as discrete Lagrangian methods and the fluid is modeled as Eulerian grid of cells. To create
a virtual reactor in any CFD tool, the first step was to set up a grid that defined the control
volume, cells, and boundary conditions for all fluid field calculations. A CAD geometry
(equal to experimental reactor setup) was drawn in STL format in SolidWorks and imported
to Barracuda VR to define grids. A total of 102,400 cells were specified with a uniform grid
generation option available in Barracuda that divides the rector into cells uniformly. The
number of cells (102,400) was defined so that the cross section of the reactor is divided
into 32 × 32 pixels similar to the experimental set up. Three planes were set up at heights
of 5 cm, 10 cm, and 15.7 cm along vertical direction of the reactor (Figure 1a). Flow and
pressure boundary conditions are defined at the bottom and top of the reactor, respectively
(Figure 1a). The solid volume fraction of the bed is set as 0.543 at the static condition, which
is obtained experimentally by dividing the bulk density of the bed material with particle
density. The parameters used for the development of the simulation model are summarized
in Table 1. The details of the mathematical descriptions of the computational model in
Barracuda can be found elsewhere [31–34].

Table 1. Simulation parameters used for the model development in a BFB reactor.

Parameters Value

Particle density, 2650 kg/m3

Particle diameter 302.46 µm
Gas density 1.225 kg/m3

Bed diameter 10.4 cm
Initial bed height 30 cm

Superficial gas velocity (0.137–0.4) m/s
Close pack volume fraction 0.64

Particle volume fraction 0.534
Total number of cells 102,400

Time step 0.001
Simulation time 60 s

Minimum fluidization velocity, Um f 0.07 m/s
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The drag model in a fluidized bed is an important function which determines the
force acting on the particles by the fluid flow around it. For the drag force calculation, the
combined drag model, Wen-Yu and Ergun, is used with non-linear coefficient 2 and linear
coefficient 180 [19]. Several studies showed a better prediction of the bubbling fluidized
bed reactor using the blended Wen-Yu and Ergun drag model [1,35]. Similarly, the wall
effect has a significant influence on the bubble properties and bed hydrodynamics and is
significant in a fluidized bed reactor. In this study, the effect of the wall on the fluid particle
motion is considered in terms of normal-to-wall momentum retention, and tangent-to-
wall momentum retention. Normal-to-wall momentum retention is defined as the normal
component of the particle momentum retained after the particle collision with the wall.
When the particle collides with the wall, it tends to lose normal and tangential momentum.
The tangential component of the particle momentum retained by the particle after collision
with the wall is defined as the tangent-to-wall momentum retention.

Figure 2 illustrates the mathematical implementation of the parameters: tangent-
to-wall momentum and normal-to-wall momentum retention, where un+1 is the particle
speed after collision and un is the particle speed before collision. The values 0.85 and 0.85
are selected for the tangent-to-wall momentum retention and normal-to-wall momentum
retention, respectively. The value of 0.85 in normal-to-wall momentum means 85% of the
momentum is retained. The sand particle is modeled as a hard sphere, and the values of
these parameters are used as suggested in the literature [36]. These losses of the normal
and tangential momentum with wall impact are described in Equation (1).

un+1 = [(rT − rN)(1 − cos θ + rN ][un] (1)

where rT , and rN are momentum retention factor for a tangential wall impact and momen-
tum retention factor for a normal wall impact, respectively.
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2.2. Experimental Setup

The experimental measurement technique in this work includes the use of electrical
capacitance tomography sensors for the measurement of bubble properties in a bubbling
fluidized bed reactor. The experimental setup consists of a 10.4 cm internal diameter
reactor column equipped with the twin-plane ECT sensors and a data acquisition system.
The twin-plane ECT sensors are located at 15.7 cm and 28.7 cm along the reactor height,
as shown in Figure 1d. Each ECT sensor is composed of 12 equally spaced electrodes
mounted on the outer wall of the reactor. The fluidizing gas is passed uniformly through
the particle bed via an air distributor located at the bottom of the reactor. The raw data
produced from the ECT sensors are either in the form of a numerical matrix or image that
covers the entire sensor-measuring area. The cross-section of each sensor is divided into
32 × 32 square pixels, of which 812 are the effective pixels that lie within the bed (shown
in Figure 1c). Each pixel holds a normalized relative permittivity value between 0 and 1,
which represents the gas–solid fraction. The system was calibrated before experiments. The
calibration was performed for both the extreme cases, i.e., when the sensor area is filled
with higher permittivity material (air) and lower permittivity material (sand particles).
Sand particles are used as the bed material and compressed air as the fluidizing gas. The
properties of particles used are shown in Table 1. The data sampling frequency is sensitivity
to local gas–solid fraction measurements in the fluidized bed. For instance, Yassir et al. [37]
demonstrated the sensitivity of measurement span while using ECT sensors and suggested
a 60 s measurement span for the extraction of reliable data in a bubbling fluidized bed.
In this work, for each flow velocity, the data were logged for 60 s with a time step of 0.01
that produced a total of 6000 frames. Experiments were carried out at different airflow
velocities, and the influence on bubble properties (bubble diameter and bubble frequency)
was determined. Due to the large distance between the planes in the experimental set up
(shown in Figure 1d), it was difficult to track the same bubble for the measurements of
bubble rise velocity. As the bubbles rose from a plane at 15.7 cm to another plane at 28.7 cm,
as shown in Figure 1d, the bubbles merged into a single large bubble or split into smaller
bubbles (due to large distance between the measurement sensors). Therefore, bubble rise
velocity was measured from the simulation data by tracking the centroid position in 3D
bed, which is discussed in Section 2.3.

2.3. Methodology and Post-Processing the Simulation Data

Post-processing of the three-dimensional simulation data is significant for the analysis
of the bed fluid dynamics behavior. In this work, MATLAB and Tecplot were used for
data analysis and visualization. Barracuda VR 20.1 comes with a 3D data visualization
and data extraction software Tecplot 360 EX (CPFD software Barracuda VR, Houston, TX,
USA). The hydrodynamics of the bed was determined by measuring the bubble properties
(bubble diameter, bubble rise velocity, and bubble frequency). In order to calculate the
bubble properties, the first step was to identify the bubbles at different positions. The
bubble position was defined by the region where the solid volume fraction reaches zero.
Based on a threshold value of the solid–gas fraction of 0–0.2, the bubbles in the bed were
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distinguished from the emulsion phase. In this work, a threshold value of ≤0.2 (solid
volume fraction) was used to characterize the bubble region. The solid volume fraction
of 0.2 is selected based on the suggestion made in previous studies [10]. To confirm the
applicability of such a gas–solid threshold in this study, careful observation of the boundary
region was carried out by checking the solid volume fraction of cells in the boundary
region between the bubble and emulsion phase (as shown in Figure 3b). The bubble
and its properties were determined from the images extracted from 2D horizontal and
vertical planes.
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Figure 3. (a–c) Bubble measured from the extracted images from XY-plane (horizontal plane) at
a height of 25.8 cm and superficial gas velocity of 0.25 m/s (The red circle represents equivalent
bubble area).

The change in fluidization behavior of the bed with time at different gas velocities was
captured in the form of images. For each superficial gas velocity, the simulation time was
60 s, and the images were extracted at 100 frames per second. Therefore, a total of
6000 frames (images) were produced for each selected superficial gas velocity. For the mea-
surement of the bubble properties along the horizontal planes, the images were produced
from the post-processing tool Techplot 360 available in Barracuda VR at the pre-defined
planes along the vertical height. The extracted images were in RGB format. The images
were converted into grayscale images and the grayscale images were further converted
into binary images using a MATLAB code. Based on the bubble–solid threshold value
(solid volume fraction ≤0.2), the bubble regions were identified from the binary images
using the “image processing tool” available in MATLAB. The bubbles were identified as
the objects and their properties such as centroid, area, and perimeter were calculated using
the regionprops function available in MATLAB. Figure 3a–c shows the method adopted
in this work to extract bubbles in the bed along the horizontal plane. The instantaneous
three-dimensional iso-volume fraction of the bubbles rising in the bed is shown in Figure 3a.
The two-dimensional view of a bubble as it reached plane 3 is illustrated in Figure 3b, and
the stepwise method employed to measure the bubble from extracted 2D images is shown
in Figure 3c.

Similarly, for the measurement of bubble properties along the vertical planes, the
images were extracted at 100 frames per second for each gas velocity. In this case, the
bubbles were identified from the RGB to binary images with a bubble ID assigned for each
bubble. As the bubbles moved from one position to the upper part of the bed, the bubbles
disappeared, split into two or more bubbles, or merged into a single bubble. Therefore,
it was important to track the individual bubble to correctly calculate its properties as it
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changed from one frame to another. For this reason, a unique bubble ID was assigned for
each bubble, as shown in Figure 4. The ID contained information about the bubble name
(with the number), bubble height, and diameter, which were used to track the individual
bubbles as it moved from one position to another with time. The calculation of the bubble
properties—bubble diameter, bubble rise velocity, and frequency—from both approaches
are discussed in the results and discussion part.
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Figure 4. (a) RGB image extracted after post-processing; (b) grayscale image converted from RGB
image; (c) binary image converted from grayscale image; (d) bubbles (with ID: diameter and position)
distinguished from the emulsion phase (The red circle represents equivalent bubble area).

3. Results and Discussion
3.1. Bubble Diameter

The information about average bubble size for a given superficial gas velocity is
an important parameter for designing a fluidized bed gasification reactor. In this work,
the bubble diameter is determined from the measured bubble area. As a bubble moved
vertically and reached the XY plane (plane 3), the area of the bubble was determined. The
bubble area was measured by counting (with MATLAB algorithm) the number of pixels
occupied by the bubble region. The effective bubble area corresponding to the bed diameter
was calculated by multiplying the total effective area of the bed. The average bubble
diameter was then calculated by the mean value over the measurement period (60 s).

Figure 5 compares the average bubble diameter obtained from the CPFD simula-
tions, experimental measurement, and correlations for bubble diameter proposed by Mori
et al. [38] and Werther et al. [39] (as shown in Equations (2) and (3)). The result depicts
that the average bubble diameter increased with an increase in gas velocities. With the
increased gas velocity, the bed was diluted with more air, which increased the void fraction.
In addition, fluidizing gas in the fluidized bed tends to pass in the form of bubbles, which
increased the average bubble size with an increase in superficial gas velocity. However,
the increase in bubble diameter as measured from the CPFD simulation was not linear
as compared to the correlations proposed by Mori et al. and Werther et al. The CPFD
model predicted the average bubble diameter close to the experimental data for the selected
superficial gas velocity, while it predicted the average bubble diameter close to Mori et al.
correlations up to 0.3 m/s. With a further increase in gas velocity beyond 0.3 m/s, the
average bubble diameter increased slightly. At this superficial gas velocity, the average
bubble diameter increased up to 0.62 times the bed diameter. There were some bubbles in
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the bed that approximately covered the bed diameter, which could convert into slug. With
the increase in gas velocity, such bubbles tend to split as they rise in the bed.

db = 0.652
[

A
(

U0 − Um f

)]0.4
−
(

0.652
[

A
(

U0 − Um f

)]0.4
− db0m

)
exp

(
−0.3

h
D

)
(2)

db0m = 0.00376
(

U0 − Um f

)2

where db, h, D are in [cm] and U0, Um f are in [cm/s]. A is cross sectional area of the bed,
and db0m is the initial bubble size near the distributor.

db = d0

[
1 + 0.272

(
U0 − Um f

)]1/3
(1 + 0.0684h)1.21 (3)

where d0 = 0.853 for Geldart B particles.
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Figure 5. Comparing average bubble diameter for different superficial gas velocities obtained from
CPFD simulations, experimental data, and different correlations (DH and Dv are the average bubble
diameter measured along the horizontal and vertical planes from the CPFD simulations, respectively)
at 15.7 cm along the reactor height [38,39].

Similarly, Figure 6 compares the average bubble diameter from the CPFD model and
the correlations at heights of 10 cm and 5 cm for different superficial gas velocities. The
results show that the average bubble diameter at both bed heights increases with increasing
superficial gas velocity, similar to that of plane 3. However, no slug appeared in the bed up
to a height of 10 cm at the selected gas velocities. The average bubble diameter predicted by
the CPFD model is in better agreement with the correlation proposed by Mori et al, while
the Werther et al. correlation underpredicts the average bubble diameter at height 10 cm.
For the bubbles reaching the lower plane at 5 cm, the average bubble diameter measured
from the CPFD results agrees well with the Mori et al. correlation for all gas velocities;
however, it is only in good agreement with the Werther et al. correlation up to gas velocity
0.25 m/s. The Werther correlation underpredicts the average bubble diameter at superficial
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gas velocities higher than 0.25 m/s. The information about the average bubble diameter for
the given bed conditions (fluidization velocity, aspect ratio, bed diameter, etc.) are useful
for characterizing the bed fluidization quality. For instance, a bubble that is too large in the
bed means either the bubble can convert into a slugging bed, or it may bypass the bed. On
the other hand, if the bubble size is too small, it may not provide uniform mixing in case of
a bed with a binary mixture of particles.

Energies 2022, 15, x FOR PEER REVIEW 10 of 19 
 

 

average bubble diameter for the given bed conditions (fluidization velocity, aspect ratio, 
bed diameter, etc.) are useful for characterizing the bed fluidization quality. For instance, 
a bubble that is too large in the bed means either the bubble can convert into a slugging 
bed, or it may bypass the bed. On the other hand, if the bubble size is too small, it may not 
provide uniform mixing in case of a bed with a binary mixture of particles. 

Figure 6. Average bubble diameter for different superficial gas velocities at height 10 cm (left side) 
and 5 cm (right side). 

3.2. Bubble Rise Velocity 
The bubble rise velocity was estimated by using a detailed signal analysis method 

and a bubble displacement method. The bubble rise velocity from the detailed signal anal-
ysis method was obtained from the fluctuation of solid volume fraction from two planes 
at heights of 10 cm and 5 cm for each bubble passage. As the bubbles rise from plane 2 to 
plane 1, there is a time lag (∆𝑡) between each bubble passage, as shown in Figure 7. The 
bubble rise velocity (𝑈 ) is obtained based on the distance between two planes (∆𝐻), as 
shown in Equation (4). 𝑈 = ∑ ∆∆  , ∆𝑡 = 𝑡2 − 𝑡1 (4)

When calculating the bubble rise velocity with the bubble displacement method, the 
bubble is tracked as it passes from one time step to another. As the bubbles move from 
one position to another, its centroid position changes, and the bubble displacement has 
been calculated from the centroid positions in consecutive time steps. The bubble rise ve-
locity, 𝑈 , is calculated from Equation (5). 𝑈 = ∑ ∆∆   (5)∆𝑑 = (𝑋 − 𝑋 ) + (𝑌 − 𝑌 )  

where ∆𝑑 is the displacement of the bubble centroid positions. (𝑋 , 𝑌 ), (𝑌 , 𝑌 ) are the 
centroid positions in the consecutive time frames. 

0 0.1 0.2 0.3 0.4

Superficial gas velocity, m/s

0

2

4

6

8

10

Mori et al.
Werther et al.
D H

D V

Figure 6. Average bubble diameter for different superficial gas velocities at height 10 cm (left side)
and 5 cm (right side) [38,39].

3.2. Bubble Rise Velocity

The bubble rise velocity was estimated by using a detailed signal analysis method and
a bubble displacement method. The bubble rise velocity from the detailed signal analysis
method was obtained from the fluctuation of solid volume fraction from two planes at
heights of 10 cm and 5 cm for each bubble passage. As the bubbles rise from plane 2 to
plane 1, there is a time lag (∆t) between each bubble passage, as shown in Figure 7. The
bubble rise velocity (Ub1) is obtained based on the distance between two planes (∆H), as
shown in Equation (4).

Ub1 = ∑
∆H
∆t

, ∆t = t2 − t1 (4)
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Figure 7. Schematic diagram showing the fluctuation of solid volume fraction as the bubble passes
the planes.

When calculating the bubble rise velocity with the bubble displacement method, the
bubble is tracked as it passes from one time step to another. As the bubbles move from
one position to another, its centroid position changes, and the bubble displacement has
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been calculated from the centroid positions in consecutive time steps. The bubble rise
velocity, Ub2, is calculated from Equation (5).

Ub2 = ∑
∆d
∆t

(5)

∆d =

√
(X2 − X1)

2 + (Y2 − Y1)
2

where ∆d is the displacement of the bubble centroid positions. (X2, Y1), (Y1, Y2) are the
centroid positions in the consecutive time frames.

Figure 8a shows the fluctuation of the solid volume fraction from the simulation result
at superficial gas velocity 0.25 m/s. As shown in Figure 8b, there is a time lag as the
bubble moves from the lower plane to the upper plane. By measuring the time difference,
the bubble rise velocity is calculated from the plane positions. The average bubble rise
velocity as the bubble reaches 15.7 cm bed height at different superficial gas velocities is
shown in Figure 9d. The experimental measurement of the bubble rise velocity was not
possible, and therefore, the bubble rise velocity obtained from the CPFD model is compared
with correlations for bubble rise velocity from the literature. The correlations proposed
by Davidson et al. [40] and Agu et al. [41] have been used for the comparison. The result
shows that the average bubble rise velocity increases with an increase in superficial gas
velocity. With an increase in superficial gas velocity, the bubble diameter increased which
increased the rise velocity of the bubbles in the bed. The bubble rise velocity predicted
by the CPFD model does not increase linearly at different gas velocities, as predicted by
the correlations. However, the bubble rise velocities predicted by the CPFD model are
in agreement with the correlations. The CPFD model predicts the bubble rise velocity at
different superficial gas velocities closer to the correlation proposed by Agu et al., while
the correlation proposed by Davidson et al. overpredicts the bubble rise velocity. This is
because the correlation proposed by Agu et al. is an improved version of the Davidson
et al. correlation, where the author has proposed a correlation for bubble velocity based on
the bubble-projected area.
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Figure 9. (a–c) Bubble rise velocity vs. bed height at different gas velocities of 0.13 m/s, 0.35 m/s,
and 0.4 m/s, respectively; (d) average bubble rise velocity as the bubbles moved from the plane at
10 cm to the plane at 15.7 cm at different superficial fluidizing gas velocities [40,41].

With the above method, tracking a bubble and measuring its rise velocity at the pre-
defined plane, the chances are that the bubble may disappear, split, or coalesce, making it
difficult to track its properties. Therefore, tracking the bubble rise velocity from one frame
to another is more reliable as it does not lose any information. In order to calculate the
rise velocity of the bubble as it moves, the easiest way is to measure the rise velocity by
tracking the centroid position with time as discussed earlier. Figure 9a–c shows the mean
bubble rise velocity at different superficial gas velocities and positions along the reactor
height. The bubble rise velocity is obtained from the centroid positions (Equation (5)) as it
moves from one frame to another. The result shows that the bubble rise velocity increases
with an increase in superficial gas velocity 0.137 m/s to 0.4 m/s. Additionally, the bubble
rise velocity increases as the bubble moves from the lower region to the upper part of
the bed. Comparing the calculated bubble rise velocity from the CPFD model with the
correlations of bubble rise velocity, the results illustrate that the CPFD model underpredicts
the bubble rise velocity at the lower positions of the bed. At the upper part of the bed, the
bubble rise velocity is higher than predicted by Agu et al. but lower than the Davidson
et al. correlations. At the gas velocity of 0.137 m/s, the bubble rise velocity increases
gradually with height, indicating that small bubbles are formed at the lower part of the bed.
The bubble size and rise velocity increase gradually as the bubble moves from the lower
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section to the upper section (as shown in Figure 9a). At superficial gas velocity of 0.35 m/s
(Figure 9b), the bubble rise velocity increases slowly below 10 cm bed height, and there is
a sudden increment in the bubble rise velocity afterward; this is due to coalescing of the
smaller bubbles into large bubbles, which increases the rise velocity of the bubble.

3.3. Bubble Frequency

The bubble frequency is an important parameter influencing the gas and solid resi-
dence time inside the bubbling fluidized bed. There are many approaches to calculating the
bubble frequency inside the bed. The simplest method is to count the number of bubbles
over the measurement period [42]. Another approach is to plot the power spectrum density
to obtain the bubble frequency [43]. In this work, the bubble frequency is obtained using
both methods. The bubbles passing through a plane along the vertical height are measured,
and the bubble frequency is calculated from Equation (6). Figure 10 shows the histogram
plot of the number of bubbles of varying diameters counted at each superficial gas velocity
over the measurement time. As can be seen from the figure, bubbles of different sizes pass
the plane at height 15.7 cm. However, up to the superficial gas velocity of 0.25 m/s, there
are many bubbles with smaller diameters. Therefore, operating the fluidized bed regimes
below 0.25 m/s for this case can be effective, provided that the particles (in the case of bed
with binary particles) do not segregate.

Bubble f requency, fb =
Total number o f bubbles passing the plane

sampling time
(6)
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Energies 2022, 15, 7828 14 of 18

The plot of bubble frequency at different superficial gas velocities from the CPFD
model, ECT measurement, and Agu et al. [41] correlation are compared in Figure 11. The
result from the CPFD model shows that bubble frequency increases with an increase in
superficial gas velocity up to 0.25 m/s and decreases further. The increase in bubble
frequency up to 0.25 m/s is due to the formation of a large number of smaller size bubbles
in the bed (as shown in Figure 10d–f). Due to the coalescence of the smaller bubbles to form
larger diameter bubbles, the bubble frequency decreases for the higher gas velocities. At
superficial gas velocity of 0.35 m/s, there is a slight increment in the bubble frequency due
to split of the large diameter bubbles. The CPFD model predicts the bubble frequency close
to the experimental data at higher gas velocities and overpredicts the bubble frequency
at lower gas velocities. However, the simulations follow a similar trend of the bubble
frequency as the experimental measurements. The Agu et al. correlation for the bubble
frequency predicts the bubble frequency close to experimental data at lower gas velocities;
however, it underpredicts the bubble frequency at higher gas velocities compared to the
experimental and CPFD model. This is because the correlation proposed by Agu et al. is
developed for deep beds.
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Figure 11. Bubble frequency vs. superficial gas velocities at 15.7 cm bed height [41].

The bubble frequency can be obtained from the fluctuation of the solid volume fraction
signal. The solid volume fraction fluctuation for each time step is recorded at different
gas velocities. An illustration of the fluctuation of the solid volume fraction at superficial
gas velocity of 0.4 m/s is shown in Figure 12a. The bubble frequency is obtained from the
Fourier transform of the time series plot of solid volume fraction. The Fourier transform of
the solid volume fraction at superficial gas velocity of 0.137 m/s, 0.25 m/s, and 0.4 m/s at
15.7 cm bed height is shown in Figures 12b, 12c and 12d, respectively. The amplitude of the
solid volume fluctuation is shown on the Y-axis and frequency on the X-axis. The amplitude
gives information about the bubble size. For the bed with a single bubble, the frequency can
be obtained, where the amplitude is at the maximum. However, for a bubbling fluidized
bed, it is evident that there can be multiple peaks for multiple bubbles passing a plane, as
shown in Figure 12c,d. The multiple peaks of the varying amplitude depict that there are
multiple bubbles with different sizes passing the plane. With an increase in superficial gas
velocity from 0.137 m/s to 0.4 m/s, the amplitude increases. This increase in the amplitude
is due to an increase in the bubble size. There is no dominant frequency; however, for
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each gas velocity, there are several peaks within the band of 1–6 Hz. For gas velocity of
0.137 m/s, the peak of the amplitude fluctuates within a narrow height, which indicates
that there are multiple smaller bubbles. At 0.25 m/s, few large bubbles are observed (as
indicated by the sudden increase in the amplitude). At superficial gas velocity of 0.4 m/s,
the amplitude of the solid volume fraction fluctuation is approximately 60–100 within the
band of 2–5 Hz. The higher amplitude with a wide range of bands indicates that the large
number of bigger-sized bubbles pass the plane at 15.7 cm.
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4. Conclusions

The efficiency of a fluidized bed reactor depends on the bed fluid dynamic behavior,
which is significantly influenced by the bubble properties. The bubble properties in a BFB
are primarily responsible for heat and mass transfer, better mixing, and solid circulation.
This work investigates the bubble properties of a bubbling fluidized bed reactor using
computational particle fluid dynamic (CPFD) simulations and electrical capacitance to-
mography (ECT) measurements. The bubble properties measured in this work include
average bubble diameter, bubble rise velocity, and bubble frequency at different superficial
gas velocities and heights along the reactor. The two-dimensional images along the reactor
horizontal and vertical planes of the BFB were extracted from the CPFD simulations at
transient time steps and different operating conditions. The CPFD model was developed
in a commercial CPFD software Barracuda Virtual Reactor 20.0.1. The bubble behavior
and bed fluidization behavior are characterized from the bubble properties. The bubble
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properties were determined by processing the extracted images with script developed in
MATLAB. The CPFD simulation results are compared with experimental data from the
ECT sensors and correlations in the literature.

The results from the CPFD model and experimental measurement depicted that the
average bubble diameter increased with an increase in superficial gas velocities up to
4.2 Um f and decreased with a further increase in gas velocities due to the onset of large
bubbles (potential slugging regime). The result predicted by the CPFD model revealed that
the bubble rise velocity was directly related to bubble diameter. The rise velocity of the
bubbles increased with an increase in superficial gas velocity and bubble position in the
bed. However, the increment in bubble rise velocity was not linear. The bubble moved
slowly within the lower region of the bed. The bubble velocity increased significantly in
the middle and upper region of the bed, followed by bubble coalescence at superficial gas
velocity 5Um f . The Fourier transform of the transient solid volume fraction illustrated that
multiple bubbles pass the plane with varying amplitude and frequency in the range of
1–6 Hz. Further, the bubble frequency increases with an increase in superficial gas velocity
up to 2.5Um f and decreased with a further increase in gas velocity.

The CPFD model and method employed in this work can be useful for the efficient
design and operation of a bubbling fluidized bed gasification reactor. Further work will be
focused on investigating the influence of bubble properties on gasifier conversion efficiency
operated at high temperatures.
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