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ARTICLE INFO ABSTRACT

Keywords: Supported liquid membranes (SLMs) containing novel green solvents are proposed as a sustainable alternative
Supported liquid membrane (SLMs) separation process in the recovery of biomolecules. In this work, succinic acid has been successfully extracted
Green solvent from model fermentation broths through a stripping phase-facilitated transport mechanism with four different
Sirogril;il;;;]d green supported liquid membranes: two eutectic solvents (DL-menthol:OctA and N4444Cl:OctA), the bio-based
Process design solvent eucalyptol and the ionic liquid [C4pyrr][TfoN]. A permeability activity-based model that takes into ac-
COSMO-RS count for the first time solute-phase affinities has been developed using the quantum chemical COSMO-RS

method; the model corrects the mass transfer driving force and allows extraction predictions beyond the con-
centration equilibrium. The best recovery has been achieved experimentally for the eucalyptol-based SLM
(concentration factor of 1.4) using an alkaline aqueous solution (0.5 M NaOH) as the stripping phase. A coun-
tercurrent cascade extraction process design is proposed, and a graphical method to determine the stage number,
interstage concentrations as well as mass transfer area requirements is presented. This new tool, the Permeability
Activity-Based Linear Operation (PABLO) method, will substantially enhance the process design of SLMs tech-
nology for the biorefinery industry.

is also stressed. In fact, the purification of the bio-succinic acid produced
by fermentation of lignocellulose-derived sugars is carried out by highly
energy consuming precipitation processes or using harmful volatile
organic compounds (VOCs), such as organophosphorus compounds or
aliphatic amines, in liquid-liquid extractions (LLX) [5].

Novel technologies and materials are being proposed as sustainable

1. Introduction

Nowadays, concerns over climate change have led to stricter envi-
ronmental regulations in the manufacturing processes, emphasizing the
need to develop green chemistry alter.natives. [1]. However, green pro- alternatives or process intensification. Several ionic liquids (IL), i.e.,
cesses are often 'hard to implement at 1.ndustr1al' sca.le due to the lack of  }jqyid salts at room temperature, eutectic solvents (ES), i.e., hydrogen
technical maturity as well as economic, organizational, and even cul- bond donor (HBD) and acceptors (HBA) eutectic mixtures, and bio-based
tural barriers [2]. Examples of successful green processing facilities are solvents (BS), i.e., solvents produced from renewable sources, have
the biorefineries, that transforms biomass into value-added products, yet shown to be suitable alternatives in LLX of bio-based organic acids [6].
most dqwnstream separations in the 1ndust.r}.1 still rely on the. use of  Other energy efficient separation processes in the biorefinery industry
conventional processes to reach a competitive product quality and can benefit from including the use of membranes, which are up to an
production cost. order of magnitude more efficient than their phase change-based

For instance, the production of succinic acid and other bio-based counterparts [7].
organic acids, highlighted as strategic platform chemicals by the Liquid Membrane (LM) technology has been presented as an inno-
United States Department of Energy [3], through green routes has  yative approach for the selective extraction of diluted species from

shown economically competitive in comparison to the conventional liquid or gaseous matrices, including the recovery of biomolecules,
analogues [4]. However, the need to improve the downstream processes
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Nomenclature t Time (s)
u Molecular mobility
Symbols Ucomb,05% Combined expanded uncertainty
Aay, v Activity gradient logarithmic mean (mol'm™3) \Y% Volume (m>)
a Molar activity (mol-mol™1) X x-axis length (m)
A Membrane effective area (m?) X Solute-free solvent mass concentration
a‘? Operating line intercept
am Activity (mol'm™3) Constants 14
boP Operating line slope R Gas constant = 8.314 (J-mol™-K™)
C Concentration (m‘ol~m’3) ) Greek letters
c I\/I.olar.concentI:aFlon (m;)lqr}or ) o Phase a
D Diffusion coefficient (m*-s™") y Activity coefficient (—)
E Extract‘phase . o L 8 Membrane thickness (m)
E, Arrhenius equation activation energy (J-mol ) e SLM impregnation ratio (%)
Ef Extract?on feTctor (%) M Chemical potential (kJ-mol™')
Ex Extraction yield (%) P Density (mol-m~3)
F Feed phase S Y Linearized permeability model dependent variable value
h Heat transfer coefficient (kW-m™ =K ") (-)
J Mass flux (mol-m2.s71)
K Thermal conductivity (kW-m~1.K™1) Superscripts
K'p Distribution coefficient (—) eq Equilibrated
L Membrane length (m) max Maximum
M Mass flow (kg-s™ 1) st Steady time
n Solute mass (mol) )
P Permeability (m-s™) Subscripts .
q Solute flow (mol-s 1) I Compon.ent t
0 Heat transfer Q (k J-kgfl) j Data-point number
R Raffinate phase k Dataset number
r Pearson correlation coefficient S Phase solvent
S Stripping phase T Total
T Temperature (K)
amino acids, metal ions, and rare earths, as well as the treatment of
wastewater, nuclear waste, and removal of heavy metals [8]. By & Well - Established
including an immiscible solvent within the porosity of an inert thin o
substrate in the so-called supported liquid membranes (SLM), allows to Fitration e Lstion
reduce the extraction media requirement and thereby the mass transfer )
: . Decantation
resistance [9]. Furthermore, they can be coupled with green solvents to Solution-crystallization
guarantee the sustainable requirements by the biorefinery industry. By 2> Centrifugation  Azeotropic-distillation
comprising the extraction and back-extraction in a single stage, SLMs 5 Froth-flotation Extracton
offer higher efficiency and simplest operation than LLX [10], even © Melt-Crystallization Agsorption: gas-feed
; ; - lon-exchange agsorption: liquid-feed
reaching a large mass transfer area per equipment volume [11]. o P q
Notwithstanding, despite the large number of published studies on 3 Me’“b’a”eﬁ;g";ﬁggzed
LMs and the well acknowledged advantages, the technology is far from Membranes: liquid-feed
reaching industrial scale. In a separation roadmap report, formulated in Liquid - Membranes
the year 2000 by the American Institute of Chemical Engineers, the need Affinity-separations
for the development of alternative technologies was brought forward, — Emerging .

highlighting the bio-separations as one of the highest priority key
research needs [12]. Moreover, they specifically mentioned the impor-
tance of focusing on the development of membranes and extractants, as
well as generating better predictive models to boost the separation
technologies. The same conclusion was given in 2019 by the ACS Green
Chemistry Institute® in a Sustainable Separation Processes Roadmap
report [13].

The state of these separation methods can be overviewed from a
technology maturity perspective. In order to visualize and compare
different separation technologies, Fig. 1 shows their position with
respect to each other, in terms of use maturity (antiquity) and from less
sophisticated ones up to more sophisticated and well-stablished pro-
cesses (technical sophistication, estimated from the wane in their
respective patent activity). It is noted that LMs is a relatively young
technology with a still high invention rate, which explains the poor
industrial-scale development but leaves room for improvement and

Technological sophistication

Fig. 1. Maturity of the separation process technology. Technological sophisti-
cation as the patent activity wane (x-axis); Use maturity as the antiquity in the
last century (y-axis). Reconstructed from Vision 2020: 2000 Separation Roadmap,
Center for Waste Reduction Technologies of the AIChE, 2000 [12].

developing the solutions the biorefinery industry is aiming for.

Under the proper conditions, several studies have shown that it is
possible to push the LM extraction yields beyond the equilibria, i.e., to
reach in the stripping phase a greater concentration than in the feed
phase. For instance, it was reported that LMs based on Aliquat 336®
could reach concentration factors of 2.2 and 6.9 in the gibberellic acid
recovery [14] and uranium removal [15], respectively. In another work,
lithium extraction from complex aqueous mixtures with IL-based SLM at
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an initial Li concentration of 619 mg-1~! showed to reach final con-
centrations of ca. 180 and 400 mg-1"}, in the feed and striping phase,
respectively [16]. This is possible due to reactive-facilitated mechanisms
or specific solute-phase solvent affinities, and generally explained by
the solute thermodynamic activity. However, discussions lack further
insight or quantification, possibly due to time and cost constrains for the
determination of thermodynamic properties.

In this work, we propose the use of computational quantum chemical
methods to have a preliminary insight into such interaction effects. More
precisely, the COnductor-like Screening MOdel for Real Solvents
(COSMO-RS), which provides good predictions of compounds chemical
potentials from the screening charge density on the molecular surface
[17]. This unveils a potential improvement in the LM mass transfer
description based on intermolecular interactions within the system and,
in consequence, promoting further process modelling and design. The
model will be validated with experimental data from the extraction of
succinic acid using four SLMs based on four different green solvents: DL-
menthol:OctA (eutectic solvent), N4444Cl:OctA (eutectic solvent), euca-
lyptol (bio-based solvent) and [C4pyrr][TfoN] (ionic liquid).

In order to reach technological maturity, it is necessary to develop
tools that allow preliminary SLMs-based extraction process design (as
those used for conventional separation technologies). In this work, a
graphical method is proposed for the preliminary countercurrent con-
figurations sizing.

2. Permeability activity-based model

In order to impulse LMs from an emerging to a well-established
technology, descriptive models and process design methodologies
must be improved. In LMs, the well-accepted mass transfer driving force
is the concentration difference [18,19]. Assuming no solute accumula-
tion within the membrane, the solute i flux, J; (molym~2-s™1), is driven
by the difference in concentration, C? (mol~m’3), between both phases
(a: feed (F) or stripping (S)), and also depends on the permeability, P
(m-s™H). Thus, Ji can be calculated with equation (1) [20].

Ji=P(Cf - C) €Y}

The above approach is limited to describing the mass transfer only
until both phase concentrations are equalized. Therefore, a new model
needs to be developed to account for higher extraction efficiencies that
can be found in the literature and go beyond the expected equilibrium.

In this work, the solute mass flux is expressed as a modified version of
the Nernst-Planck equation, according to equation (2). The electrostatic
potential is dismissed, resulting in a driving force along with a one-
dimensional frame through the x-axis given by the chemical potential,
i (J-mol~1), gradient. The other two terms in the equation are the solute
activity, any (mol;y-m™3), that accounts for molecular interactions within
the mixture, and the molecular mobility, u.

Ji :am~u<7%> (2)

Based on the chemical potential relationship with the molar activity,
a; (mol;ymol 1), shown in equation (3) [21], and substituting a,, = C;-y;
as an, = ¢p-y;, where G; (mol;m™3), ¢; (molymol™), y; (), and p
(rnol~m’3) are the solute molar concentration, the molar fraction, the
activity coefficient, and the solution molar density, respectively, equa-
tion (2) can be rewritten as equation (4). The factor uRT, molecular
mobility times the gas constant, R (J-mol *-K™1), and temperature, T
(K), is redefined as the solute diffusion coefficient, D (rn2~s’1), resem-
bling a Fick’s law of diffusion based on the solute activity differential.

du; = RTdIn(a;) = RTdIn(c;-y;) 3)

din(a;) an . da; d(Cir:)
J; = —ap-uRT &) . Gn @i AT 4
! Gt dx a;  dx dx @
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Finally, the solute flux through the LM is obtained from the differ-
ence in each phase of the solute concentration times the activity coef-
ficient and the permeability, P (m-s™ 1), defined as the quotient of the
diffusion coefficient over membrane thickness, § (m), as shows equation
(5). It is important to note that this approach considers no solute accu-
mulation in the membrane and condenses all mass transfer resistances as
a single empirical parameter P.

1= PA(Clo ~ ) ®

Throughout the proposed permeability activity-based model, equa-
tion (5), the description of the LM process extraction is substantially
improved. Wherever the separation process is, the final concentrations
that it might reach are governed by the thermodynamic equilibria. In
other words, when the activity of the compounds in each phase are
equalized, also are the mass flow in both directions, meaning a zero-net
mass transfer rate. For instance, if both feed and stripping phases are
composed of the same solvent, e.g., water, no difference in the solute
activity is observed, and the system will follow an ideal approach as per
equation (1). In this case, both solute concentration trajectories, in feed
and stripping phases, are constrained to meet over the same path, as
shown the Fig. 2.1. In such figure, the a-point and b-point represent the
initial feed and stripping concentrations, respectively, while the c-point
is the final concentration of both phases obtained from the solute mass
balance. Since the driven force of the ideal approach is the concentration
gradient, the mass transfer is equilibrated at the c-point, as Fig. 2.II
depicts.

On the other hand, under the activity-based approach, the solute
trajectories are dependent on the specific solute-phase affinity. It is
possible to attain equilibrium with different final concentrations, if
different feed and stripping phases are adopted, such as water and a
solution of 0.1 M NaOH, respectively. This case is illustrated in Fig. 2.III,
where starting concentrations (a-point and b-point) are the same as in
the above example, but the final feed concentration, d-point, is lower
than the final stripping concentration, e-point, where the activities are
balanced. In consequence, the observed concentration profiles behavior
will match the one represented in Fig. 2.1V, agreeing with the results
found in the literature.

3. Bio-organic acid recovery with green-SLMs
3.1. Materials

Succinic acid (>99.0%y/w), octatonic acid (>98%.,,w), tetrabuty-
lammonium chloride (>98%y,w), 1,8-cineole (99%,,,w), and [C4pyrr]
[TfoN] (>98.5%y/w) were purchased from Sigma-Aldrich. DL-menthol
(>97.0%4,w) and NaOH (98%.y,) were purchased from Alfa Aesar.
Chemicals were used without further purification. Milli-Q type 1 water
was produced in the laboratory. Millipore Durapore PVDF support was
acquired from Merck. Nominal support characteristics are thickness:
125 pm, pore size: 0.22 pm, and porosity: 75%.

3.2. Preparation of green-SLMs

For the preparation of the SLMs, four green solvents (shown in
Table 1) were selected based on their separation performance for the
recovery of succinic acid through conventional LLX reported in our
previous work [6]: two eutectic solvents (ESs) (DL-menthol:OctA and
N4444Cl:OctA), the bio-based solvent eucalyptol, and the ionic liquid (IL)
[C4pyrr][Tf,N]. They were introduced into hydrophobic polyvinylidene
fluoride (PVDF) porous supports by impregnation (Fig. 3.I and prepa-
ration details in the SI). Table 1 also contains the SLM impregnation
ratio, € = Vgovent/ Vsmr (%), and stability in water for each of the pre-
pared membranes (more details on these tests can be found in the SI).
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Fig. 2. Schematic comparison of the liquid membrane
behavior predicted from a concentration-based

------------------------------------- a approach (eq. (1)) and an activity-based approach

(eq. (5)). I) Ideal trajectories for the solute concen-
tration with the same affinity with the feed and
stripping phases; II) Concentration profile obtained

Feed phase ideal

‘C  from the concentration-based approach; III) Activity
trajectories for the solute concentration with different
affinity with the feed and stripping phases; IV) Con-
centration profile obtained from the activity-based

—— Stripping phase ideal

time

approach. a-point: initial feed concentration; b-point:

initial stripping concentration; c-point: final ideal feed
and ideal stripping concentration; d-point: final
activity-based feed concentration; e-point: final
~a  activity-based stripping concentration.
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Table 1
Green-SLM and their properties studied in this work.
Green solvent Type  Abbreviation € Stability
b
% % at 96 h
DL-menthol: Octanoic acid ES DL-menthol: 66.0 94.29 +
{1:1}" OctA + 2.7 1.12
Tetrabutylammonium chloride: ES N4444Cl:OctA 66.1 90.34 +
Octanoic acid {1:2}" +2.0 1.28
1,8-Cineole BS Eucalyptol 66.5 98.18 +
+ 0.6 3.15
1-butyl-1-methylpyrrolidinium 1L [Capyrr] 49.3 63.09 +
bis(trifluoromethylsulfonyl) [Tf,N] +1.8 2.80
imide
2 ES {HBA:HBD} molar ratio.
b Full stability data available in SI.
I
) D) Feed phase e

Ve

'l
\.

Green Supported

Liquid Membrane

time

3.3. Methodology for the extractions with SLMs

Succinic acid was used as representative bio-based organic acid for
the green-SLM extraction assays. Experimental extractions were carried
out at room temperature in the diffusion cell depicted in Fig. 3.II; vol-
ume of 325 ml for the feed and stripping phase chambers and an
effective mass transfer area of 30.19 + 0.01 cm?. A model succinic acid
aqueous solution of 40-50 g-1~%, within the typical average concertation
in the fermentation broths [22], was used as the feed phase. Pure water,
0.1 M NaOH, and 0.5 M NaOH were used for the stripping phase. Both
feed and stripping phases were continually stirred to reduce polarization
effects. The organic acid concentration of the stripping phase was
measured in time intervals up to 100 h to ensure equilibrium was
reached. The succinic acid concentration was analyzed by HPLC.

3.4. Modelling procedure

To give a continuous description of the succinic acid concentration
profile in time, the experimental data were modelled with the perme-

Stripping phase

6
Stirrer

®
Solute

Fig. 3. Experimental setup used in this work for the succinic acid recovery with green-SLMs. I) SLM prepared by immersing a PVDF porous support in a green solvent;
11) Diffusion cell and SLM module. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)
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ability activity-based model proposed in this work. Since the approach is
based on the solute-phase affinity, the succinic acid activity coefficients
in water and NaOH solutions were preliminary computed with COSMO-
RS method at 20 °C. The method has been successfully applied in the
separation process design of complex systems [23] and in predicting the
non-ideal carboxylic acids’ aqueous solubilities [24]. By computing the
compounds chemical potential within a mixture, COSMO-RS method
can estimate the y-values through equation (6), where uf and y; are the
solute i chemical potential in the a-phase and as a pure compound,
respectively [25]. Computational calculations were performed using the
COSMOtherm software, version C30, release 18.0.2, at the parametri-
zation of BP_TZVP_18.

RTIn(y}) = i — p; ©)

The SLM configuration gives a negligible membrane phase volume in
comparison with the feed and stripping phases. Therefore, the solute
mass balance in the system described in Fig. 3.1 can be expressed by
equation (7). V%, n% A, and t are the a-phase volume (m3), solute mass
(mol), membrane effective area (m?), and extraction time (s),
respectively.

. dCS - dCct dn dn¥
S A=VS. L= _yr. 2L T T
dt dt dt dt

)

Assuming constant solute permeability throughout the concentration
range (i.e., solute accumulation in the membrane is neglected), the
permeability can be estimated from the mass balance formulated as
equation (7), with experimental extraction data. With the boundary
conditions of 0 < C3() < C¥°Y and £ < t < t°4 the mass balance
(equation (7)) and the permeability activity-based model (equation (5))
can be rearranged in the form: y = b-x + a, as shown in equation (8). The
linearized form establishes an independent variable x = t and arises a
dependent variable y = . The initial condition is given at ¢S = 0and
t = t%, the mass transfer steady-time (st), i.e., the time that the solute
needs to fully permeate the SLM and start to desorb into the stripping
phase. The final condition is reached when the system is equilibrated
(eq), at C°9 and °9, and the mass transport rate is ceased. The effective
succinic acid permeability throughout the green-SLMs is determined
from the function slope.

P-A 1< dn®
—-(z—f’):—/ =y ®)
Vs Vs J, (,,r?;nx - ,],s>

12 systems (1 solute x 4 green-SLM x 3 stripping phase) have been
measured. To fit equation (8) to each experimental k dataset of j data-
point number, both feed and stripping solute affinities must be cor-
rected from COSMO-RS predictions. In total, there are three parameters
to be fitted: y)er, yQIMNaOH ' gnd y0-SMNaOH Gince the parameter values
must meet the equation (8) linearization, the objective function was
established as the inverse sum of the squared Pearson correlation coef-
ficient (r%), according to equation (9). A MatLab® algorithm has been
developed to obtain the solute activity coefficients (equations S3-S12 in
the SI).

5 —1
Z YA e =) (v — W) }
g \/Z]{ (ljJ( - Ek)z }ZJ{ (‘//j.k - Wk)2 }
Finally, the goodness of the model fit was determined by the root

mean squared deviations from all experimental datasets, according to
equation (10), where N is the total experimental data points.

1 exp ca 2
RSMD = \/N;Z (C,gk/ - c_ka’) (10)

OF : min (C)]
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3.5. Results and discussion

Extraction of succinic acid from aqueous model solutions with green-
SLM composed of DL-menthol:OctA, Ny4444Cl:OctA, eucalyptol, or
[C4pyrr][Tf,N] in PVDF supports were performed at room temperature.
The measured concentrations over time have an average combined
expanded uncertainty of Ucomb,9506(Ci) = 1.67 g~l’l, estimated following
the directions of Chirico et al. [26] and Miller and Miller [27] with a
confidence level of 95%.

According to the preliminary COSMO-RS computational results, the
succinic acid activity coefficient in NaOH solutions remains constant in
neutral and low pH solutions, and significantly decreases for pH values
over 12 (activity coefficient vs pH for succinic acid and other organic
acids in Figure S4). The succinic acid concentration profile over time for
the eucalyptol green-SLM with three different stripping phases (Fig. 4)
reveals the expected behavior, i.e., greater concentrations as the pH of
the receiving phase increases. Indeed, the average concentration factors
resulted in 1.0, 1.1, and 1.4 for the membranes whose stripping solutions
were water (pH 6-7), 0.1 M NaOH (pH 13.0-13.2), and 0.5 M NaOH (pH
13.5-13.7), respectively. The same behavior is observed for all green-
SLM systems studied in this work (shown in Figure S5). This suggests
that solute-phase affinities have a greater influence on the maximum
process extraction capacity, while the solute-membrane affinity de-
termines the mass transfer rate and therefore, the time needed to reach
equilibrium.

Alkaline stripping solutions are commonly used to aid in the
extraction of acid compounds from the membrane phase, due to the
solute dissociation at a high pH that overcomes concentration gradients
[28,29]. Moreover, the use of stripping phases of different nature allows
tailoring the extraction selectivity in multistage separation processes, as
demonstrated elsewhere for the separation of platinum and palladium
from an aqueous mixture of the two components plus rhodium in a two-
step process [30]. In such work, a stripping solution of 0.1 M NaClOy4 in
1 M HCI was first used to extract 96% of Pt(IV), and then a stripping
solution of 10 mM thiourea and 0.1 M KSCN in 1 M HCI to extract 6% of
Pd(11), with no RA(III) extracted from the feed in neither of the two steps.

Graphs in Fig. 4 also show the ideal (equation (1)) and activity-based
(equation (5)) models fitted to the experimental data. For the perme-
ability activity-based model, the succinic acid activity coefficients were
fitted following the procedure described in section 3.4. Fitted results,
Fig. 5.1, indicates that the COSMO-RS method overestimates the differ-
ences in affinity but provides a correct trend prediction. When solute-
phase affinities are alike, i.e., feed and stripping solution are the same
(i.e., water in both phases), the ideal and the activity-based approaches,
converge to equivalent trajectories. However, as the affinity gradient is
increased, the concentration-based model keeps predicting the same
ideal behavior, disagreeing with the experiment data. The RMSD
(equation (10)) of both models are compared with the root mean
squared deviations of the experimental uncertainty, as shown in Fig. 5.
II. It is noted that the ideal model has a significant difference from the
experimental measurements, while the fitted activity-based model
shows better agreement to each data point.

Estimations of succinic acid permeabilities from both approaches are
depicted in Fig. 6. The average combined expanded uncertainties are
Ucomb,95%(Pideal) = 15x107 ms! and Ucomb,95%(PaCticry_based) =
6.9x10~8 m-s™, respectively. Despite slightly better succinic extractions
for the SLMs with 0.1 M NaOH as the stripping solution, the permeability
in those systems tends to be smaller than with pure water. The addition
of NaOH leads to an increase in the osmotic pressure of the receiving
phase, and therefore, an extra mass transfer resistance for the solute
desorption from the membrane. However, at higher NaOH concentra-
tions of 0.5 M the succinic acid affinity gradient becomes the predomi-
nant effect over the osmotic pressure. Indeed, the most favorable
extraction system for the succinic acid recovery is the eucalyptol-based
SLM, despite its low permeability in comparison to other systems.

The above results highlight the importance of not treating complex
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Fig. 4. Experimental, ideal (eq. (1)), and fitted permeability activity-based (eq. (5)) models concentration profile and extraction yields (Ex) for succinic acid
extraction with a eucalyptol-based green-SLM and three different stripping solutions. I) pure water; II) 0.1 M NaOH; III) 0.5 M NaOH. The same behavior is observed
for all green-SLM studied in this work. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)

[ Water
e 0.1M NaOH
o-1.5{ pu [ ]0.5M NaOH
E 117 114
2 1.0 ideal
s o) 082 oo
[o]
(&)
=
2 0.5 0.36
(8]
<
COSMO-RS Fitted
I
2.5, +4%
- {—— - -7 exp. uncertainty:
2.0- N d
v 2o (W ©)))
0 1.51
‘g -47%
1.0
0.51
Ideal Fitted

Fig. 5. I) Succinic acid activity coefficient in water and alkaline solutions
predicted by the COSMO-RS method at 20 °C and fitted to the experimental
extraction data with green-SLM and the permeability activity-based model
proposed in this work; II) Root mean squared deviation comparison of the ideal
and fitted permeability activity-based models. The goodness of the models is
also evaluated through the root mean squared deviations of the experimental
uncertainty with a confidence level of 95%. (For interpretation of the references
to colour in this figure legend, the reader is referred to the web version of
this article.)

interactions as an ideal system for the proper process description.
Moreover, a misleading approach can have major consequences in the
technology scale-up. Since the ideal model does not consider the activity
correction in the concentration gradients, the permeability is over-
estimated. This might result in smaller equipment sizing that will not
reach the expected extraction yields.

4. Cascade extraction process design

The extraction effectiveness in a separation process is governed by the
thermodynamic equilibrium of the system. Given enough time and mass
transfer area, the maximum possible solute extraction in a two-phase
system is determined by the solute distribution coefficient, K'p. The so-
lute distribution coefficient establishes the solute concentration ratio in
equilibrium between the feed (F) and the stripping (S) phase, each defined
as the saturated solute mass over the solute-free solvent mass, X; .
Rearranging it by the equilibria criteria, a5 = a5, the distribution
coefficient can be obtained from the ratio of the phase solvent density (p)
times the solute activity coefficient (y) in it, as shown in equation (11):

S, eq Solvent S _,,S
X P .

K, = =L an

= yF.eq T Solvent F .., F
X; 4 Vi

Separation processes require K'p above 1 to keep the mass transfer
rate towards the extracting phase. Although operating with a large
stripping to feed ratio allows to improve the extraction for systems with
low K'’p, this implies a low final concentration in the extract. In practice,
a single extraction stage often is not sufficient to reach process specifi-
cations, and multistage extraction processes are typically used [31].
There are several cascade separation process arrangements, e.g.,
cocurrent, countercurrent, and crosscurrent, being the countercurrent
configuration the preferred one for liquid stream separations due to its
high efficiency and lower number of stages required. In fact, multi-stage
LM processes have shown high selectivity and extraction yields in a
range of applications including the racemic amino acid enantiosepara-
tion [32], penicillin G recovery [33], and 2-chlorophenol removal [34].

Therefore, to improve the extraction capacity of SLMs, a countercurrent
configuration of N-stages (Fig. 7) is proposed. The design is based on the
equilibrium-stage model, considering the thermodynamic limitations dis-
cussed in previous sections. The feed (F) and stripping (S) streams, with
initial solute concentrations Crand Cs, respectively, are fed to each end of the
process. It is assumed that the area and time within every stage are sufficient
for the mass transfer to reach the equilibrium, i.e., solute activities in each
stream are equalized. In an intermediate stage n, the raffinate stream coming
out from the above stage (Ry+1) is treated with the extract of the stage below
(En1), helping to hold the mass transfer driving force.

4.1. Graphical activity-based process design

To determine the total number of stages (N) required in the proposed
green-SLM countercurrent cascade process, a graphical method is
derived from the permeability activity-based model seen in previous
sections. The method, denoted as PABLO (Permeability Activity-Based
Linear Operation) method, includes the following assumptions:
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Fig. 7. Cascade green-SLM extraction process in a countercurrent flow dia-
gram. F, feed stream; S, stripping stream; R, raffinate stream; E, extract stream;
N, total stages number; n, stage number; Cr, initial solute concentration in the
feed stream; Cs, initial solute concentration in the stripping stream; Cg ,, solute
concentration in the raffinate for stage n; Cgy, solute concentration in the
extract for stage n; Cg, final solute concentration in the raffinate stream; Cg,
final solute concentration in the extract stream. (For interpretation of the ref-
erences to colour in this figure legend, the reader is referred to the web version
of this article.)

e Constant activity coefficients and permeability within the concen-
tration range.

e Equilibrium is reached in each stage.

o Negligible solute retained within the LM phase.

e Negligible water and pH-modifier transport.

e Negligible phase volume changes.

e Isothermic process.

The following operating parameters were selected for assessing the
accuracy of the graphical method: concentration of succinic acid in the
feed Gp = 50 g-17}, an alkaline 0.5 M NaOH stripping solution with no
solute (Cs=0 g-l_l), and afeed to stripping phaseratioS/F=0.5 (Table 2).
The activity coefficient values were fitted from the permeability activity-
based model and experimental green-SLM extraction measurements (see
Fig. 5) presented in section 3.5. Nevertheless, feeding the model with
purely empirical solute activity coefficients values might improve its

Table 2
Operating conditions and target final concentrations for the succinic acid re-
covery with green-SLM in a countercurrent cascade process.

Phase: Feed Stripping
Solvent: Water 0.5 M NaOH
Solute Activity coefficient (y) - 1.17 0.82
Solvent density (pSe) kmolym 3 55.4 55.9
Flow rate m>h! 1.0 0.5
Initial concentration (C) gl! 50 0
Solute free-based concentration (X) mol; mol; ! 0.008 0
Target final concentration (C) gl! 16.5 67.0

capacity to predict the extraction behavior and thus the process design.

The extraction factor, E; (%), is defined as the distribution coefficient
times the initial solute mass flow ratio, MS/MF (equation (12)). The theo-
retical maximum possible concentration in the extract stream (C§™) is
calculated with equation (13). In a process design, the target final concen-
tration in the extract stream must be set below the theoretical maximum in
order to obtain areasonable stage number and mass transfer area. The solutei
recovery &R/x) in a countercurrent cascade with N-stages can be obtained
from the process mass balance and the E; value, according to equation (14),
[31].

, MS , S(l _X;S) pSolventS
Er = K)- MF D F-(l — X'F) 'psmvemF a2)
F
Cp* = 3 -Cp-Ef 13)
Xk 1
" 14)

XTF Zyzo (Ef ) !

The distribution coefficient (equation (11)) and the extraction factor
(equation (12)) for the system under the selected operating conditions
results in K'p = 1.4 and E; = 71.5%, respectively. According to equation
(13), a maximum possible final concentration in the extract stream
ofCm> = 71.5 g-1! could be obtained. The solute recovery vs total
number of stages is shown in Fig. 8. It can be seen that extra stages do
not lead to significant improvements when the recovery approaches the
E; value. Therefore, an optimum target value must be determined from
the specific process objectives and constraints. When the target final
solute concentration in the extract is set as Cg = 67 g1 five stages are
needed, and the final concentration in the raffinate (calculated from the
global mass balance) results in Cg = 16.5 g-171.

Intermediate concentrations (Cry and Cgy) are given by the operating
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Fig. 8. Solute (succinic acid) recovery as a function of the number of stages in a
countercurrent cascade at operating conditions listed in Table 2 (analytical
resolution). The solute recovery converges to an upper limit given by the system
thermodynamic equilibrium. To reach a target final concentration Cg = 67
g171, a five-stage extraction process is required.

solute activity trajectory ayr: the stripping phase solute trajectory cor-
rected by the flowrate ratio as well as the initial and target concentrations.
The operating line is defined as a linear function of the operating con-
centration (Cfp ), as expressed in equation (15). Operating line slope (b°P)
and intercept (a°P) are given by equations (16) and (17), respectively.

a? = C’-b” +a” (15)
F
b — 7’is' 5 (16)
F
a® = yis. (CE _ E.CF) a7

Fig. 9 shows the graphical algorithm to obtain the required number of
stages and interstage solute concentrations for the countercurrent cascade
process with green-SLM coupled with the permeability activity-based
model proposed in this work. The activity trajectories and operating
line plot are built from the solute activity coefficients in the feed and
stripping phases Fig. 9.1). Cy is the starting point, from which to descend
vertically until the operating line is reached; the intersections of an
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horizontal line from that point with the feed and stripping phases tra-
jectories give the raffinate and extract concentrations, respectively, for
thatstage (Fig. 9.11). The same procedure isrepeated starting from the new
Crp until reaching the final Cg concentration. The total number of stages is
given by the number of steps taken to complete the algorithm (Fig. 9.1II).

The proposed graphical activity-based procedure predicts 5 stages
for the conditions defined in Table 2 (see Fig. 9.III), which agrees with
the calculated from of the analytical method (equation (14)). The overall
succinic acid recovery results in 67%. The graphical method is capable
of determining the interstage activity profile. The driving force for the
mass transfer, i.e., the activity gradient between the feed and the
stripping phases, is maintained along the process as seen in Fig. 10.1.
This enhances the extraction going in an uphill concentration flux,
where the final extract concentration is greater than the initial feed
stream, as it is shown in the interstage concentration profile in Fig. 10.IL.

4.2. Required green-SLM area estimation

Equipment sizing is a key aspect in process design to perform both
technical and economic evaluations. For SLM separation technology,
this means to determine the effective mass transfer surface area to assess
material, solvent, and apparatus costs.

In order to estimate the required mass transfer area to carry out the
extraction with the green-SLM countercurrent cascade design described
above, the following procedure is proposed. The transported solute flow, q
(m01~s’1), throughout a membrane section, A (mz), is described by
equation (18). If a rectangular green-SLM geometry is assumed, the area
section is defined as dA =y-dz, where the section width (y) is constant and
the activity gradient, Aay, (mol-m~3), only vary in the z-axis. Thus, the
total transported solute within a fixed length (L) is determined by equa-
tion (19). A general expression of the Aay, dependence along the z-axis is
given by equation (20), as the activity gradient logarithmic mean, Aap, v
(mol~m*3), itisbased on theinitial (z=0) and final (z = L) extraction stage
conditions. The formal Aay, 1 derivation is found in the SI.

9 _
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Fig. 9. Green-SLM countercurrent cascade extraction process graphical algorithm (PABLO) to determinate the number of stages required to reach the target final
concentration by the permeability activity-based linear operation. I) Activities trajectories of the solute in the feed and stripping phases as well as the operating line
obtained from the respective solute activity coefficient in each phase and the process operating conditions through eq. (15) to eq. (17); II) Stage number deter-
mination procedure: vertically descending from the initial feed concentration, Cg, to the operation line, then spitted horizontally towards the feed, Cr,, and stripping,
Cp, lines. Repeat the procedure from, Cry, until reaching the final concertation in the raffinate, Cg; II) Total number stages as the step number required to reach the
final raffinate concentration, obtained under the operational condition listed in Table 2. (For interpretation of the references to colour in this figure legend, the reader

is referred to the web version of this article.)
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The required stage green-SLM area (A is determined from equation
(21), where the activity values can be obtained from the activity profile
(see Fig. 10.I) derived from the graphical permeability activity-based
method described in section 4.1. The total area, At (m?), of an n-stages
countercurrent cascade extraction process is given by equation (22).

q

_ 21
P-Aay, 1m @D

1 & n
Ap == 4

—_— 22
P =1 Aam LM n ( )

The required area (total and for each of the countercurrent cascade
stages) with the four different green-SLM studied in this work is shown
in Fig. 11. The total area is inversely proportional to the solute perme-
ability throughout the green-SLM (see Fig. 6). For the same operating
conditions and number of extraction stages, values of equipment size
show significant differences. Although experimental results exhibited
others succinic acid extraction systems with larger permeability, e.g.,
using pure water as the stripping phase, their final concentration factor
capacity was reduced, meaning smaller equipment but lesser final
extract concentration. This evidences the importance to consider the
systems thermodynamic capacity to extract the target solute and the
SLM mass transport performance as a coupled effect in the process
development.
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Fig. 11. Estimated total and by stage mass transfer area for the extraction of
succinic acid in a five-stage countercurrent cascade extraction process using an
alkaline aqueous solution (0.5 M NaOH) as the stripping phase and four
different green-SLM. (For interpretation of the references to colour in this figure
legend, the reader is referred to the web version of this article.)

4.3. Temperature-driven green SLM extraction

In previous sections it has been modelled and demonstrated experi-
mentally that adding a pH modifier can favor the extraction of an
organic acid through SLMs. However, in some cases, this strategy might
not be possible due to incompatibilities with the process or interferences
in further purification stages.

The solute activity coefficient is not only a property dependent on the
system conformation but on the temperature as well. This presents an
opportunity for further studies on the SLM technology process design
based on temperature gradients as an alternative way to control the
solute affinity within the system. Temperature-driven processes are well
known in membrane separation technologies. One examples is mem-
brane distillation (MD), another emerging separation method that
benefits from stream temperature differences to enhance the trans-
membrane vapor flux in water recovery [35,36].

The affinity temperature dependency can be reliably described by
empirical activity coefficient models, such as the Non-Random Two
Liquid model (NRTL) [37]. Based on the system excess Gibbs energy
calculations, the NRTL model allows the activity coefficients determi-
nation as a function of the temperature and mixture composition.
Fig. 12.I shows the succinic acid activity in pure water represented by
the NRTL model computed by COSMO-RS method. At high acid con-
centration and temperature, greater activity is observed with a non-
linear dependency. Thus, a counterflow extraction process of a hot
feed stream and a cold stripping stream will effectively promote the
solute mass transfer.

In this arrangement, the mass and heat transfer are coupled phe-
nomena. On the one hand, both the mass transfer resistances, ab/
desorption rates and solute diffusion, as well as the driving force, solute
chemical potential, are temperature-dependent factors. Thus, perme-
ability must be corrected along with the heat exchange. The perme-
ability as a temperature function is expressed in an Arrhenius-form
equation (equation (23)), based on an empirical parameter, E,
(J-mol 1), representing the activation energy [38]. On the other hand,
given a membrane area and temperature gradient, AT (K), the heat
transfer, Q (kJ~kg’1), throughout the membrane is determined from
equation (24). The heat flow is dependent on the convective heat
transfer coefficient, h (kW-m~2.K™1), of each stream, the membrane
thickness, § (m), and membrane thermal conductivity, k (kW~m’1~K’1).
For membrane conductive heat transfer, an isostrain model can be used
to estimate the two-phase composite material SLM thermal conductivity,
according to equation (25), weighing the support and solvent thermal
conductivity by the SLM impregnation ratio, € (%) [39].
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Fig. 12.II presents a schematic two-stage countercurrent cascade
extraction process driven by the solute activity dependence on the
temperature and concentration gradients. As both mass and heat are
transferred from one stream to another, the temperature gradient is
reduced after each extraction stage. Thus, to enhance the process effi-
ciency, interstage heaters and coolers can be implemented to overcome
the mass transfer rate drop. Despite the increased energy consumption,
this effect can be efficiently managed through process energy integra-
tion methods between the cold and heat streams [40]. Note that this
temperature-enhanced approach can be coupled with the facilitated
transport mechanisms to reach an optimum extraction process design,
opening up avenues to impulse the LM technology towards becoming
one of the predominant separation methods among other well-
established industrial processes.

5. Conclusions

The new permeability activity-based approach presented in this
work fulfils a fundamental gap in the SLM process modelling. It allows
overcoming the concentration-based models’ limitations, as it predicts
the final equilibrium state by accounting for solute activity effect.
Experimental succinic acid recovery with four different green-SLM (DL-
menthol:OctA and Ny444Cl:OctA eutectic solvents, the bio-based solvent
eucalyptol and the ionic liquid [C4pyrr][TfoN]) confirmed that extrac-
tion yields are determined by the solute-phase affinities, being the
stripping phase pH the most relevant factor. Thus, a selective-oriented
design can be performed establishing favorable compounds affinities.
On the other hand, the SLM conformation has a major influence on the
solute permeability, determining the mass transfer rate. Both effects are
key for a proper SLM process design.

A graphical method, PABLO (Permeability Activity-Based Linear
Operation), for calculating the theoretical number of stages required for
the extraction of organic acids in a multistage countercurrent cascade
design has been developed. The mass transfer area requirement, a critical
parameter for assessing the techno-economic feasibility of the process,
can be also calculated. Additionally, coupling mass and heat transfer
phenomena into the green-SLM extraction process has been proposed.

The developed approach will allow researchers to address pre-
liminary system selection for further studies and will help in the feasi-
bility assessment of green solvents and SLMs for sustainable separation
processes. Especially, it is foreseen as a tool for the biorefinery industry
to implement competitive green routes into chemical manufacturing and
work towards technological maturity.
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