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� Development of a 2D model for the

MSR in a multi-tubular packed-bed

reactor.

� Comparison of simulation results

between 1D and 2D reactor

models.

� Prediction of the temperature dis-

tribution inside a reactor tube.

� Studying the effects of geometry

and operating conditions on

reformer performance.

� Optimization of operating condi-

tions for integration with a 5 kW

HT-PEMFC stack.
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a b s t r a c t

The hydrogen-rich gas produced in-situ by methanol steam reforming (MSR) reactions

significantly affects the performance and endurance of the high-temperature polymer

electrolyte membrane (HT-PEM) fuel cell stack. A numerical study of MSR reactions over a

commercial CuO/ZnO/Al2O3 catalyst coupling with the heat and mass transfer phenomena

in a co-current packed-bed reactor is conducted. The simulation results of a 1D and a 2D

pseudo-homogeneous reactor model are compared, which indicates the importance of

radial gradients in the catalyst bed. The effects of geometry and operating parameters on

the steady-state performance of the reactor are investigated. The simulation results show

that the increases in the inlet temperature of burner gas and the tube diameter signifi-

cantly increase the non-uniformity of radial temperature distributions in reformer tubes.

Hot spots are formed near the tube wall in the entrance region. The hot-spot temperature

in the catalyst bed rises with the increase in the inlet temperature of burner gas. Moreover,

the difference in simulation results between the 1D and 2Dmodels is shown to be primarily

influenced by the tube diameter. With a methanol conversion approaching 100% or a

relatively small tube diameter, the simplified 1Dmodel can be used instead of the 2Dmodel

to estimate the reactor performance.
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Introduction

Hydrogen is a clean and renewable energy source that plays an

essential role in hydrogen-based energy systems, especially in

polymer electrolyte membrane (PEM) fuel cell systems. As we

know, the PEM fuel cell is a compact electrochemical device

that converts the chemical energy in hydrogen and oxygen to

electrical energy with high energy efficiency and zero-

pollutant emission. According to their ranges of operating

temperature, PEM fuel cells can be classified into two cate-

gories. The low-temperature polymer electrolyte membrane

(LT-PEM) fuel cell generally operates at a temperature below

373 K. This low operating temperature makes a rapid start-up

possible but also leads to a high requirement for hydrogen

purity. The high-temperature polymer electrolyte membrane

(HT-PEM) fuel cell operates at 393� 473 K. By operating at a

higher temperature, the HT-PEM fuel cell gets an improved

tolerance towards carbon monoxide (CO) up to 3� 5% vol [1],

making it suitable to be integrated with an in-situ hydrogen

production system without purification.

Methanol stands out among various hydrogen carriers

because it is in liquid form under standard conditions and

has a high hydrogen to carbon ratio ð4 : 1Þ. The high energy

density and stability of methanol at ambient conditions

make it cheap and easy for long-term storage. In addition,

methanol can be produced from renewable energies and

captured carbon dioxide (CO2), which benefits from the

extensive studies of power-to-methanol technology [2e4].

Moreover, lower reforming temperature ð473�573 KÞ than

other carbon-based fuels such as methane ð1073�1273 KÞ
makes it suitable for stack integration with HT-PEM fuel cells

and results in a lower CO production [1,5]. Compared to other

catalytic reactions for hydrogen production, such as meth-

anol decomposition (MD) and partial oxidation of methanol

(POM), the methanol steam reforming (MSR) process pro-

vides the highest concentration of hydrogen per mole of

methanol [6]. Therefore, the on-board hydrogen generation

by MSR becomes an efficient and practical option to fuel PEM

fuel cells especially for vehicle propulsion. In the MSR pro-

cess, the methanol and water (steam) mixture is converted

into a hydrogen-rich gas by chemical reactions occurring on

the surface of catalysts. The three main reactions for the

catalytic MSR process can be written as [7,8]:

Methanol steam reforming (MSR) reaction:

CH3OH þ H2O4CO2 þ 3H2 DH ¼ þ 49:7
�
kJmol�1

�
(1)

Water-gas shift (WGS) reaction:

CO þ H2O4CO2 þH2 DH¼ � 41:2
�
kJmol�1

�
(2)
parison between 1D and
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Methanol decomposition (MD) reaction:

CH3OH4COþ2H2 DH¼ þ 90:2
�
kJmol�1

�
(3)

The mechanism and kinetics of MSR have been fully inves-

tigated both theoretically and experimentally [7e10]. Jiang et al.

[11,12] derived an overall power-law and a LangmuireHinshel-

wood-Hougen-Watson rate expressions for the MSR process

based on only one type of active site. They neglected the WGS

reaction, assuming that the competitive adsorption on the

single active site favouredmethanol andmethyl formate rather

than CO. On the contrary, Lee et al. [13] assumed that the MD

reaction was negligible and that the CO was produced by the

reverse water gas shift (rWGS) reaction. Besides, Peppley et al.

[7,8] developed a comprehensivemodel consideringMSR,WGS,

and MD reactions over a CuO/ZnO/Al2O3 catalyst. They pro-

posed two distinct types of active sites: one is for the MD reac-

tion, and another is for the MSR and WGS reactions. More

recently, S�a et al. [14] and Herdem et al. [15] compared several

kinetic rate expressions for the MSR process over a commercial

CuO/ZnO/Al2O3 catalyst. They found that the kinetic Langmuir-

Hinshelwood model based on the work of Peppley et al. [7,8]

presented the best agreement with their experimental data.

Due to the fact that the catalyst behaviour is strongly

influencedby the reactorgeometryandoperatingconditions, it

is critical to develop a numerical model of the chemical re-

actions and heat and mass transfer phenomena occurring in

the packed-bed reactor in order to properly evaluate the

reformer performance. Chougule et al. [5] developed a 1D

pseudo-homogeneous steady-state model using Engineering

Equation Solver (EES) to analyse the MSR process and thermal

performance in a tubular packed-bed reactor. However, the

wall temperature along the axial direction was assumed to be

constant and effectiveness factors were ignorable. These as-

sumptionsmade it possible to simplify themodel. In our early

studies [16,17], we developed a 1D pseudo-homogeneous

model for the MSR process in a multi-tubular packed-bed

reactor without these two simplifying assumptions. This

model took into account the effect of interphase and intra-

particle transport in the particle scale by introducing effec-

tiveness factors for main reactions. The axial temperature

changes on the shell side were also considered, as the burner

gas passed through the shell side andprovidedheat to the tube

side in a co-current form. This previously developed 1Dmodel

is also used for comparison purposes in the present study.

According to the simulation results of a 1Dmodel, only a few

details on actual transport phenomena in reactor tubes were

provided, particularly on the radial transport, whichmay result

in a loss of precision when estimating reformer performance

[18]. Thus,when significant radial gradients exist in the catalyst

bed, it is necessary to develop a 2D model that takes into ac-

countboth theaxial and radial distributionsof temperatureand
2D numerical models of a multi-tubular packed-bed reactor for
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Fig. 1 e Structure of a multi-tubular packed-bed reactor for

methanol steam reforming.
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concentration. Only a few studies, however, have been con-

ducted on the 2D modelling of the MSR process in packed-bed

reactors. Ma et al. [19] carried out a 2D pseudo-homogeneous

model for the MSR process in a multi-tubular fixed-bed

reactor usingMATLAB®. They considered themass and energy

balances in both radial and axial directions in the catalyst bed,

as well as the axial temperature variation on the shell side.

However, even with a 5� 6mm catalyst particle diameter, the

effectiveness factors for MSR reactions were ignored. Addi-

tionally, the pressure drop along the reactor's length was dis-

regarded. Bayat et al. [20] developed a comprehensive 2D

steady-statemodel for theMSRprocessoveracommercialCuO/

ZnO/Al2O3 catalyst in amulti-tubular shell-and-tube reactor. A

triple-objective optimization of the MSR reformer was per-

formed. However, this model neglected the effectiveness fac-

tors for major reactions and the temperature variation on the

shell side. Additionally, the effect of the tube size and the for-

mation of hot spots in the catalyst bed were not investigated.

Methods such as computational fluid dynamics (CFD) enable

more detailed investigations of the reactor's performance by

developing multi-dimensional models [21e24]. However, devel-

oping such complicated models is typically computationally

expensive and time consuming, with no significant increase in

accuracy [9]. Additionally, the benefits of constructing a

MATLAB/Simulink-based model may become apparent while

carrying out the optimization analysis of a MSR reformer, and

further integration with the fuel cell system for the design of

control strategy fora reformedmethanol fuel cell (RMFC)system.

Most comprehensive models of the MSR process

mentioned above neglected the effectiveness factors for key

reactions and the temperature variation on the shell side.

Besides, the formation of hot spots in catalyst beds, which

should be kept within acceptable limits to avoid thermal sin-

tering of catalysts, was not thoroughly investigated. Further-

more, the comparison study between the 1D and 2Dmodels of

theMSR process has rarely been conducted, e.g., in the aspects

of the effect of radial distributions of temperature and con-

centration in reactor tubes, and acceptability of the compu-

tationally cheaper 1D model under different tube geometry

and operating conditions.The present work aims to compare

the simulation results of the simplified 1D model and the 2D

model in predicting the performance of the reformer. A nu-

merical study of the heat andmass transfer processes coupled

with the reaction kinetics in the catalyst bed is conducted

using MATLAB®. The thermal behaviour along the axial di-

rection on the shell side is also considered. To validate the

proposed kinetic model together with effectiveness factors,

the experiment for the MSR process in a small-scale packed-

bed reactor is conducted. A 2D steady-state pseudo-homoge-

neous model is developed considering the temperature and

concentration distributions in both axial and radial co-

ordinates. For comparison purposes, a 1D pseudo-

homogeneous model of the plug-flow MSR reactor is also

developed without taking into account radial gradients. Ac-

cording to the simulation results, the impacts of the geometry

and operating conditions on reformer performance in terms of

methanol conversion, CO mole fraction, operating tempera-

ture, and maximum temperature difference are investigated.

Additionally, a parametric study is carried out to obtain the

optimal operating conditions for the reformer.
Please cite this article as: Zhu J et al., Comparison between 1D and
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Modelling approach

The packed-bed reactor is designed to be integrated with a

5 kW HT-PEM fuel cell stack. Fig. 1 illustrates the reactor

structure, which consists of baffles and tubes inside a cylin-

drical shell. The reactor shell is usually surrounded by thermal

insulation materials to avoid significant heat loss. Reactor

tubes, packed with porous cylindrical catalyst pellets, are ar-

ranged in an equilateral triangle tube bundle, and installed

inside the shell. The gas from the burner passes through the

shell side of the reformer, thereby providing an external heat

source to drive the reactions in the catalyst bed. Methanol and

water mixture are evaporated before entering the reformer.

This gas mixture flows through the catalyst bed in the tube

side, where the reforming reactions occur on the solid surface

of catalyst particles.

The mathematical model was derived by adopting the

following assumptions in this study:

� the absence of axial heat and mass dispersion (plug flow);

� the absence of temperature and concentration gradients

between the external surface of the particles and the

adjacent layer of fluid (pseudo-homogeneous);

� temperature on the shell side is uniformly distributed in

the radial direction;

� the absence of temperature and concentration gradients

within catalyst particles;

� uniform size, porosity, and activity of catalyst particles;

� constancy of bed void fraction throughout the entire

catalyst bed;

� effectiveness factors for main reactions as a function of

Thiele modulus;

� no deactivation of catalysts due to the sintering of catalysts

and carbon deposition on the catalytic surface.
2D numerical models of a multi-tubular packed-bed reactor for
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Reaction kinetics

A comprehensive kinetic model developed by Peppley et al.

[7,8] was used in this study to describe the MSR process over

the Cu/ZnO/Al2O3 catalyst. The Langmuir-Hinshelwood

model is based on assumptions: (a) hydrogen and oxygen-

containing species adsorb on different active sites; (b) the

active site for the MD reaction is different from that for the

MSR andWGS reaction; (c) the rate-determining step (RDS) for

both the MSR reaction and the MD reaction is the dehydro-

genation of adsorbedmethoxy groups; (d) the RDS for theWGS

reaction is the formation of an intermediate formate species.

The rates rj ðmol m�2s�1Þ for three key reactions (MSR, WGS

and MD) involved in the process can be expressed as:
rR ¼
kRK*

CH3Oð1Þ

�
pCH3OH

.
p

1
2
H2

��
1� p3

H2
pCO2

.
Keq
R pCH3OHpH2O

�
CT
S1
CT
S1a�

1þ K*
CH3Oð1Þ

�
pCH3OH

.
p

1
2
H2

�
þ K*

HCOOð1ÞpCO2
p

1
2
H2

þ K*
OHð1Þ

�
pH2O

.
p

1
2
H2

���
1þ K

1
2

Hð1aÞp
1
2
H2

� (4)

rW ¼
kWK*

OHð1Þ

�
pCOpH2O

.
p

1
2
H2

��
1� pH2

pCO2

.
Keq
WpCOpH2O

�
CT2

S1�
1þ K*

CH3Oð1Þ

�
pCH3OH

.
p

1
2
H2

�
þ K*

HCOOð1ÞpCO2
p

1
2
H2

þ K*
OHð1Þ

�
pH2O

.
p

1
2
H2

��2 (5)

rD ¼
kDK*

CH3Oð2Þ

�
pCH3OH

.
p

1
2
H2

��
1� p2

H2
pCO

.
Keq
D pCH3OH

�
CT
S2
CT
S2a�

1þ K*
CH3Oð2Þ

�
pCH3OH

.
p

1
2
H2

�
þ K*

OHð2Þ

�
pH2O

.
p

1
2
H2

���
1þ K

1
2

Hð2aÞp
1
2
H2

� (6)
where kj ðm2s�1mol�1Þ and Keq
j are the rate constant and the

equilibrium constant of reaction j, respectively; K* ðbar�0:5Þ is
the adsorption coefficient; pi ðbarÞ is the partial pressure of

component i ði ¼ CO2; CO;H2; CH3OH and H2OÞ; and CT
S1
, CT

S1a
,

CT
S2

and CT
S2a

ðmol m�2Þ are the total site concentrations of site

‘1’, ‘1a’, ‘2’, and ‘2a’, respectively, where the ‘1’ and ‘1a’ sites

are assumed to be active for the MSR and WGS reactions and

the ‘2’ and ‘2a’ sites are for the MD reaction. Further details on

the calculations of these constants can be found in the

Appendix.

The production rate of component i per time per mass of

catalyst riðmol s�1ðkg of catalystÞ�1Þ can be calculated

considering the rate expression rj ðmol s�1 m�2Þ for individual
reaction j and the surface area per unit mass of fresh catalyst

Scðm2 kg�1Þ [16]:

rCO2
¼ðrR þ rWÞSc (7)

rCO ¼ðrD � rWÞSc (8)

rH2
¼ð3rR þ2rD þ rWÞSc (9)

�rCH3OH ¼ðrR þ rDÞSc (10)
Please cite this article as: Zhu J et al., Comparison between 1D and
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�rH2O ¼ðrR þ rWÞSc (11)

Effectiveness factor

The effectiveness factor, h, is estimated as the ratio of the

actual reaction rate in the catalyst particle to the calculated rate

that exist in the absence of diffusion limitations [25]. In our

previous study [17], the Thiele modulus method and the

intraparticle distribution methods were applied and compared

for predicting the effectiveness factors for main reactions of

MSR. The comparison results indicated that both methods

could be used when the diameter of cylindrical catalyst parti-

cles is set to 1:5 mm. For a first-order reaction in a spherical

catalyst pellet, an easier expression for the effectiveness factor

h as a function of the Thiele modulus can be derived as [26]:
h¼ 3

42
1

ð41 coth 41 � 1Þ (12)

where 41 is the Thiel modulus for a first-order reaction, which

can be expressed as:

42
1 ¼

rjprcr
2
pSc

Di;epcip
(13)

where rjp ðmol m�2 s�1Þ and cip ðmol m�3Þ are the rate of re-

action j and the concentration of component i, respectively, if

the entire interior surface is exposed; rp ðmÞ is the radius of

the catalyst pellet; and rc ðkg m�3Þ is the density of catalyst

bed.

Catalysts in the form of porous cylindrical particles with

an aspect ratio of 1 are utilized in this study. For a non-

spherical particle, the volume-equivalent particle diameter

dvp ðmÞ, defined as the diameter of a single spherical pellet

having the same volume as the non-spherical particle, is

usually used instead of its actual diameter dp ðmÞ. For a cyl-

inder catalyst with a diameter of d ðmÞ and a height of h ðmÞ,
the volume-equivalent particle diameter dvp can be calculated

by:
2D numerical models of a multi-tubular packed-bed reactor for
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dv
p ¼

�
6Vpa

p

�1
3

¼d

�
3
2
h
d

�1
3

(14)

where Vpa is the volume of a single catalyst particle ðm3Þ.

Steady-state mass and heat balance equations on the tube
side

To predict the MSR performance in the plug-flow reactor, two

steady-state models (1D and 2D) considering the typical

transport and chemical reaction phenomena in the catalyst

bed are developed in this study. For the 1D model, it is

assumed that no axial mixing occurs in the plug-flow reactor,

and the radial gradients are neglected. For the 2D model, the

heat and species dispersions in the radial direction are

considered. Therefore, uniform temperature and concentra-

tion distributions in the cross-section can be estimated.

One-dimensional plug flow
Mass balance

us
dci
dz

¼hircri (15)

where ci ðmol m�3Þ is the concentration of component i in the

fluid, us ðm s�1Þ is the superficial velocity of the fluid in axial

direction, rcðkg m�3Þ is the density of catalyst bed, and

riðmol s�1ðkg of catalystÞ�1Þ is the rate of consumption or

formation of the component i.

Energy balance

usrf Cp;f
dTt

dz
¼asUtDTþ

X
hjrc

��DHj

�
rjSc (16)

where Cp;f ðJ kg�1K�1Þ is the specific heat specific heat of

pseudo-fluid, rf ðkg m�3Þ is the pseudo-fluid density, DHj

ðJ mol�1Þ is the enthalpy change of reaction j, DTðKÞ is the

temperature difference between shell side and tube side at

length zðmÞ, as ðm2 m�3Þ is the surface-to-volume ratio of a

single tube, UtðWm�2K�1 or Js�1m�2K�1Þ is the overall heat

transfer coefficient in the tube side.

Two-dimensional plug flow
Fig. 2 displays the schematic diagram of a single reactor tube,

which is axisymmetric with the inner radius of tubes Rt and

the length L. The 2D steady-state model in the catalyst bed is

solved in axi-symmetrical cylindrical coordinates with varia-

tions of temperature and concentrations in both the axial ðzÞ
and radial ðrÞ directions. The variations in the angular
Fig. 2 e Schematic representation of the computatio

Please cite this article as: Zhu J et al., Comparison between 1D and
methanol steam reforming, International Journal of Hydrogen Energ
direction around the central axis are assumed to be negligible.

In this rectangular region, the lower boundary is the line of

symmetry (centreline). At the upper boundary, the heat

transfer from the shell side to the tube side is accounted for

and modelled by using the film theory. The uniform initial

conditions are given at the left boundary. The mass and heat

balances in the packed-bed reactor with co-current configu-

ration are expressed by the following equations:

Mass balance

us
vci
vz

¼Der

�
v2ci
vr2

þ 1
r
vci
vr

�
þ hircri (17)

Energy balance

usrf Cp;f
vTt

vz
¼ ler

�
v2Tt

vr2
þ 1

r
vTt

vr

�
þ
X

hjrc
��DHj

�
rjSc (18)

where Der ðm2 s�1Þ is the effective radial mass diffusion coef-

ficient, ler ðW m�1 K�1Þ is the effective thermal conductivity in

the radial direction. Further details on the calculation of Der

and ler can be found in the Appendix.

Initial and boundary conditions

c¼ c0; T ¼ T0 at z ¼ 0; 0 � r � Rt

vc
vr

¼0 at r ¼ 0 and r ¼ Rt

vT
vr

¼ 0 at r ¼ 0; all z

vT
vr

¼ �Ut

ler
ðT�TsÞ at r¼Rt

In addition, all the tubes within the tube bundle are subject

to the same external conditions at the same cross section of

the reformer. It means that the temperature profiles within a

single tube can represent the performance of all the tubes in

the reformer.

Steady-state heat balance equation on the shell side

The reactor tubes are heated by a co-current stream of burner

gas on the shell side. The temperature of the burner gas on the

shell side was considered as non-isothermal in the axial di-

rection of the reactor. A simple 1D steady-state model is

developed in this study to consider the heat balance for the

burner gas:
nal domain in a single packed-bed reactor tube.

2D numerical models of a multi-tubular packed-bed reactor for
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us;srf ;sCp;s
dTs

dz
¼asUsDT (19)

where Us ðW m�2K�1 or J s�1m�2K�1Þ is the overall heat

transfer coefficient in the shell side, Cp;s ðJ kg�1K�1Þ is the

specific heat of burner gas, rf ;s ðkg m�3Þ is the density of burner

gas, us;s ðm s�1Þ is the superficial velocity of the burner gas in

the axial direction, DoðmÞ is the outer diameter of the tubular

reactor, and Nt is the number of tubes in the reformer. The

values of parameters in the reformer models can be found in

the Table 1. Further details on the model equations can be

found in the Appendix.

Simulation method

The model of MSR, in which the concentrations of the major

gas species and the temperature in catalyst bed were defined

as functions of radial and axial coordinates, was implemented

in MATLAB®. For the 2D model, heat and mass transfer phe-

nomena are described by a set of partial differential equations

(PDEs). Therefore, the method of lines (MOL) was applied to

solve the PDEs in this study [27]. The basic idea of this MOL

was to replace the PDE spatial (boundary-value) partial de-

rivatives with algebraic approximations by using finite dif-

ferences (FDs). In this model, a second-order upwind FD

approximation was applied. Thus, with only one remaining

independent variable, in this case, a system of ordinary dif-

ferential equations (ODEs) approximated the original PDE

system. Besides, the PDE solver pdepe in MATLAB® can also be

used for solving the system of PDEs.
Experiments

Experiments for the MSR process were performed at the at-

mospheric pressure in a small-scale reactor. The reactor was

loaded with 3:66 g of the commercial CuO/ZnO/Al2O3 catalyst

in a volume of 3:6 mL. Cylindrical catalyst particles with a
Table 1e Properties of catalyst and geometric parameters
of the reactor.

Parameter Value

Density of catalyst bed, rc ðkg m�3Þ 1300

BET area, Scðm2 kg�1Þ 102000

Average pore diameter �A, ðmÞ 6.4 � 10�9

Void fraction of catalyst bed, 4 0.37

Diameter of cylindrical catalyst particle, dp ðmÞ 0.0015

Height of cylindrical catalyst particle, h ðmÞ 0.0015

Site concentrations of site ‘1’, CT
S1

ðmol m�2Þ 7.5 � 10�6

Site concentrations of site ‘1a’, CT
S1a

ðmol m�2Þ 1.5 � 10�5

Site concentrations of site ‘2’, CT
S2

ðmol m�2Þ 7.5 � 10�6

Site concentrations of site ‘2a’, CT
S2a

ðmol m�2Þ 1.5 � 10�5

Number of reactor tubes, Nt 9

Inner diameter of the tubular reactor, Di ðmÞ 0.0243

Outer diameter of the tubular reactor, DoðmÞ 0.0263

Tube pitch, ptðmÞ 0.039

Number of baffle plates, Nb 4

Spacing between baffle plates, pb ðmÞ 0.12

Length of the reactor, LðmÞ 0.48

Area fraction of baffle plate that is window, fb (for 25%

baffle plate)

0.1955
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diameter of 1:5 mm and an aspect ratio of 1 were used. The

feeding rate of the liquid methanol/water mixture from the

fuel tank was measured and controlled by a mass flow

controller. This mixture was first pumped into an evaporator

to be evaporated and preheated. Then the high temperature

vapor of fuel passed through the catalyst bed which was

supported by a finemesh grid. The reactor was surrounded by

thermal insulation materials and was heated by electric

heaters outside the reactor. Therefore, this packed-bed

reactor was assumed isothermal. The temperature in the

fixed bedwas regulated by PID control of the electric heaters to

maintain it within a specific range. Two thermocouples were

used to measure the inlet and outlet temperatures of the

reactor, and the average temperature was regarded as the

temperature of the catalyst bed. The main components of the

reformate stream from the MSR reactor were analysed by the

gas analyser (SIEMENS FIDMAT 6 for CH3OH, CALOMAT 6 for

H2, and ULTRAMAT 6 for CO and CO2).

The catalyst bed was firstly flushed with the N2/H2 mixture

for 1 h, where the volumetric flow rates of H2 and N2 were

0:1 cm3 min�1 and 2 cm3 min�1, respectively. The N2/H2

mixture was introduced to the catalyst bed to reduce CuO to

Cu (the main active component in the catalyst). The operating

temperature for this reduction process was controlled in the

range of 433� 493 K. Therefore, the reduction reaction rate

can be kept relatively low so as to avoid any sintering of

catalyst. Then, the liquid methanol/water mixture was pum-

ped into the reformer by a dosing pump. The reforming pro-

cess was carried out with different operating temperatures at

493 K, 513 K and 533 K and the ratio of catalyst weight to the

molar flow rate of methanol (W=FCH3OH) in the range of 44�
263 kg s mol�1. The variation of W=FCH3OH was achieved by

changing the volumetric flow rate of liquid methanol from

0:051 to 0:308 cm3 min�1 while keeping a fixed loading of

catalysts. The S/C was selected to be 1:3 to maximize the

methanol conversion without wasting much energy in water

evaporation [28].
Result and discussion

Model validation

Kinetic study for MSR process has been made over a com-

mercial CuO/ZnO/Al2O3 catalyst. Typically, catalyst kinetic

experiments are performed on finely powdered catalysts

[5,17]. Hence, obvious diffusion limitations within catalyst

particles can be avoided, and the collected reaction rates could

be referred to as intrinsic. However, cylindrical catalyst par-

ticles with a diameter of 1.5 mm were used in this study. In-

side the porous catalyst pellets, chemical reactions and heat

and mass transfer take place simultaneously. Effectiveness

factors were introduced to qualify the effect of intraparticle

diffusion limitations on reaction rates. The effectiveness fac-

tor describes the relationship between the diffusive reaction

rate and the reaction rate in the bulk stream. In this study, the

effectiveness factors for MSR, WGS and MD reactions were

calculated as a function of Thiele modulus.

To validate the kinetic model and the effectiveness factors,

an experiment was conducted in a small-scale reactor loaded
2D numerical models of a multi-tubular packed-bed reactor for
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with catalyst particles for MSR process. Comparisons between

the simulation results and the experimental results on the

methanol conversion and themole fraction of COwere carried

out with varying W=FCH3OH in the range of 0� 300 kg s mol�1

and operating temperatures at 493 K, 513 K and 533 K. The

operating parameters for simulations and experiments are

shown in Table 2.

As shown in Fig. 3 (a), there is a good agreement on

methanol conversion between the experimental data and the

simulation results of the kinetic model with effectiveness

factors. A percentage discrepancy less than 5:4% is observed.

The methanol conversion increases with increasing temper-

ature in catalyst bed. In addition, increasing theW= FCH3OH can

also improve the methanol conversion. Fig. 3 (b) shows the

experimental and simulated mole fractions of CO in the

reformate gas with varying temperature in catalyst bed and

W=FCH3OH. As we can see, the CO production increases with

respect to W=FCH3OH in the reactor. As the operating temper-

ature increases, the mole fraction of CO in the reformate gas

also increases. This model can approximately predict the CO

concentration under most conditions, except for two data

points in the experimental results that lie outside the overall

distribution of the dataset. These two unexpected jumps of CO

concentration occurred when the W=FCH3OH was

259 kg s mol�1 and the temperature was 493 K and 513 K. It

might be caused by the non-uniform distributions of tem-

perature and concentration in the reactor. Therefore, the local

reaction rates were affected during the experiment. Another

possible explanation is that a very small feeding rate of liquid

methanol (0:051 cm3min�1) was introduced to obtain a large
Table 2 e Geometric and operating parameters for
simulations and experiments.

Parameter Value

Mass of catalyst ðgÞ 3:66

Volume of catalyst bed ðmLÞ 3:6

Feeding rate of methanol liquid ðcm3 min�1Þ 0:051� 0:308

Temperature ðKÞ 493� 533

Pressure ðbarÞ 1

Steam/methanol ratio ðmol =molÞ 1:3

Catalyst size ðmmÞ 1:5� 1:5

W=FCH3OH ðkg s mol�1Þ 0� 300

Fig. 3 e Comparison of the (a) methanol conversion and the (b)

experimental results under different W=FCH3OH and operating te
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value of W=FCH3OH ¼ 259 kg s mol�1 in the experiment. This

small feeding rate of reactants intensified the effect of non-

uniform distributions, which hence led to the oscillations of

CO production at the largeW=FCH3OH value. Moreover, the large

void fraction near the reactor wall was also a possible reason.

However, the radial void fraction profile has not been

considered in the model.

Temperature and methanol conversion distribution

In the 1D steady-state model, the absence of radial variations

in velocity, concentration, temperature, and reactions is

assumed in the tubular packed-bed reactor. To better under-

stand the temperature and concentration gradients in both

the axial and radial directions in the catalyst bed, the 2D

model is developed using the axisymmetric coordinate sys-

tem. Fig. 4 (a) shows the simulated profile of temperature,

while Fig. 4 (b) shows the corresponding profile of methanol

conversion in a single reactor tube obtained with the 2D

model. In this case, the reformer consists of 9 reactor tubes

with the length L ¼ 0:48 m, the inner tube diameter

Dt ¼ 32:6 mm and the thickness of tube wall xw ¼ 2 mm; the

catalyst contact time is W=FCH3OH ¼ 135 kg s mol�1; the inlet

temperature of the fuel vapor is set as Tf ¼ 433 K and the inlet

temperature of burner gas is set as Tb ¼ 673 K. As shown in

Fig. 4 (a), the temperature near the tube wall ðr ¼ RtÞ, where

the external heat source was applied, shows a sharp increase

followed by a gradual drop in the axial direction. The sharp

temperature increase is caused by the fact that the inlet

temperature of reactants (433 K) is below the inlet tempera-

ture of external burner gas (673 K). The substantial tempera-

ture difference results to a significant heat transfer from the

burner gas. The subsequent temperature drop is due to the

strongly endothermic reactions occurring along the catalyst

bed. Another reason for this temperature drops along the

reactor length is the temperature decrease of the external

burner gas. The observed temperature gradients in the radial

direction reflect the combined effects of the radial thermal

conductivity and the strongly endothermic reactions. A

gradual increase of temperature is observed along the central

axial line of the tube ðr ¼ 0 mmÞ. The temperature, then,

reaches a relatively stable state, while the radial temperature
mole fraction of CO between simulation results and

mperatures of catalyst bed.
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distribution becomes nearly uniform. Therefore, a hot spot is

most likely to appear near the tube wall and in the early or

middle part of the reactor. Under the given conditions, the

temperature reaches up to 522:44 K at the hot spot, and the

average temperature at the reactor outlet is observed to be

483:00 K. As shown in Fig. 4 (b), the methanol conversion in-

creases along the reactor while the reforming reactions of

methanol occur in catalyst bed. The average methanol con-

version at the reactor outlet reaches 71:36%.

Fig. 5 shows the comparison of temperature profiles as a

function of the radius and length of a single reactor tube

predicted by the 1D model and the 2D model. The geometric
Fig. 4 e Surface plot of (a) temperature and (b) methanol convers

W=FCH3OH ¼ 135 kg s mol�1, Tb ¼ 673 K.

Fig. 5 e Contour plot of temperature in a single reactor tube by

W=FCH3OH ¼ 135 kg s mol�1, Tb ¼ 673 K.
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and operating conditions are the same as in Fig. 4. As shown in

Fig. 5 (a), no temperature gradient occurs in the radial direc-

tion according to the results of the 1D model. Hence, only a

short and rapid temperature increase in the axial direction is

observed near the reformer inlet. Afterwards, the temperature

increases gradually and eventually reaches a stable state. In

comparison, a temperature contour plot obtained by the 2D

model is shown in Fig. 5 (b). The radial temperature gradients

can be observed, owing to the consideration of effective radial

thermal conductivity of catalyst bed. Therefore, the variations

of bed temperature can be accurately modelled by the 2D

model.
ion in a single reactor tube by the 2D model: Dt ¼ 24:3 mm,

the (a) 1D model and the (b) 2D model: Dt ¼ 24:3 mm,
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Effects of geometry and operation conditions

For a 5 kW HT-PEM fuel cell system, the liquid methanol-

water mixture with a feeding rate at 4:225 L h�1 and a

steam-to-carbon ratio (S=C) at 1:3 is provided for hydrogen

production. According to the negative effects of impurities on

the fuel cells, it is also necessary to limit the mole fraction of

CO andmethanol to (or less than) 2� 3% vol and 3% vol in the

reformate gas, respectively [29e31]. Therefore, the perfor-

mance of the reformer should be evaluated to satisfy the re-

quirements of the HT-PEM fuel cell system.

Effect of the inlet temperature of burner gas Tb

The effects of the inlet temperature of burner gas and W=

FCH3OH on axial profiles of methanol conversion and mole

fraction of CO are investigated. As shown in Fig. 6, the inlet

temperature of burner gas Tb is assigned to be 573 K, 673 K and

773 K, the inner tube diameter Dt is 32:6 mm, the W= FCH3OH is

set as 135 kg s mol�1, while other parameters are kept the

same as those of the case in Fig. 4. For the results of 2D model

in Fig. 6 (a) and (b), the average methanol conversion at the

reactor outlet increases dramatically from 42:0 % to 92:8 %, the

average mole fraction of CO produced also increases from
Fig. 6 e Effect of the inlet temperature of burner gas Tb on axial p

of CO, and (c) the maximum temperature difference in radial di

135 kg s mol�1.
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0:35% to 1:20%, while the inlet temperature of burner gas is

elevated from 573 K to 773 K. Correspondingly, for the results

of 1D model, the methanol conversion at the reactor outlet is

improved from 48:6% to 99:3%, and the mole fraction of CO is

observed to increase from 0:35% to 1:32%. The distinctions of

themethanol conversion and themole fraction of CO between

these two models are owing to the different distributions of

temperature calculated in the catalyst bed.

To better understand of the overall temperature activity

within the reactor tubes, the axial profiles of the maximum

temperature difference of reactor tubes in the radial direction

DT ðTmax �TminÞ are illustrated in Fig. 6 (c). In addition, the

temperature profiles along the reactor tube at different radial

positions are provided in Fig. 7 (a) (b) (c). Due to the radial heat

and mass transfer resistances, the thermal behaviour in the

catalyst bed evaluated by the 2D model can be different from

that which is evaluated by the 1Dmodel. As shown in Fig. 7 (a)

(b) (c), the temperature distribution in the catalyst bed is non-

uniform and has a sharp rise to the peak near the tube wall in

the entrance region. The formation of hot spots could induce

the potential risk of local catalyst deactivation due to the

thermal sintering. When the inlet temperature of burner gas

increases from 573 K to 773 K, the hot-spot temperature
rofiles of (a) the methanol conversion, (b) the mole fraction

rection DT ðTmax � TminÞ: Dt ¼ 32:6 mm, W=FCH3OH ¼
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Fig. 7 e Effect of the inlet temperature of burner gas Tb on axial temperature profiles at different radial positions ðr =RtÞ: Dt ¼
32:6 mm, W=FCH3OH ¼ 135 kg s mol�1.
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observed near the tube wall (r=Rt ¼ 1) increases from 490.25 K

to 552.40 K. This increase of hot-spot temperature could be

caused by the increase of the inlet temperature difference

between the shell side and the tube side. It is also observed

that the temperature gradient from the tube wall (r= Rt ¼ 1) to

the tube centre (r=Rt ¼ 0) exists in the catalyst bed due to the

endothermic reactions and the resistance to heat transfer. As

shown in Fig. 6 (c), the elevated inlet temperature of burner

gas tends to increase the non-uniformity of the radial tem-

perature distribution in the packed catalyst bed. The reason
Fig. 8 e Effect of the W=FCH3OH on axial profiles of (a) the metha

maximum temperature difference in radial direction DT ðTmax �
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could be that the higher heat flux amplifies the static tem-

perature gradient along the radial direction.

Effect of the contact time W=FCH3OH

The increase in W=FCH3OH means that the surface area of the

catalyst in contact with the reactants is increased. Fig. 8 (a)

and (b) represent the effects of the W=FCH3OH on the methanol

conversion and the mole fraction of CO along the reactor

length, respectively. In this figure, the inlet temperature of

burner gas is fixed at 723 K. By varying the tube number in the
nol conversion, (b) the mole fraction of CO, and (c) the

TminÞ: Dt ¼ 32:6 mm, Tb ¼ 723 K.
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reformer while keeping both the tube diameter Dt and tube

length L constant, the value of W=FCH3OH is changed without

changing the fuel feeding rate. Based on the results of the 2D

model, the average methanol conversion at the reactor outlet

is improved from 83:7% to 99:7% as the W=FCH3OH increases

from 135 to 406 kg s mol�1. Correspondingly, the average

mole fraction of CO at the reactor outlet increases from 0:56%

to 1:17%. For the results of the 1D model, the methanol con-

version increases from 93:2% to 100%, and themole fraction of

CO increases from 0:55% to 1:36% while the W=FCH3OH in-

creases from 135 to 406 kg s mol�1. These results indicate that

the rate of the MSR reactions is increased due to the higher

values of W=FCH3OH. It is also shown that, when the methanol

conversion is approaching 100%, the differences in methanol

conversion andmole fraction of CO between these twomodels

become less significant. Fig. 8 (c) represents the effects of the

W=FCH3OH on axial profiles of the maximum temperature dif-

ference in the radial direction DT ðTmax �TminÞ of reactor tubes.
The change inW=FCH3OH is proved to have no significant effect

on the highest value of the maximum temperature difference

in the radial direction DT ðTmax �TminÞ over the entire reactor.

Fig. 9 demonstrates the comparison of temperature profiles

obtained from the 1Dmodel and the 2Dmodel under different

W=FCH3OH. It is shown that the radial temperature gradient at

the reactor outlet becomes shallower with the increase of W=

FCH3OH. Fig. 8 (a) indicates that, as the W=FCH3OH increases to

406 kg s mol�1, the rate of methanol steam reforming re-

actions becomes greater. The increased reaction rates lead to

a higher methanol conversion in the catalyst bed. While the

methanol conversion approaches 100%, the speed of the

endothermic reactions gradually slows down. Therefore, the

temperature in the radial direction can become more uni-

formly distributed at the reactor outlet, as shown in Fig. 9 (c).

Effect of the tube diameter Dt

The successful design of a polite-scale MSR reformer is to

obtain a high methanol conversion and low CO concentration

in the hydrogen-rich reformate. In this section, the possibility

of adopting fewer reactor tubes with a larger diameter in the

multi-tubular packed-bed reformer is investigated in this

study. For a reformer with a fixed catalyst inventory, both the

number of tubes and the number of welding operations can be

inversely proportional to the square of the diameteir. There-

fore, the use of large-diameter tubes would reduce the
Fig. 9 e Effect of the W=FCH3OH on axial temperature profiles at d
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investment cost of the reactor [32]. However, the inner

diameter of reactor tubes can profoundly affect the tempera-

ture non-uniformity in the catalyst bed. Hence, the 2D model

was developed in this study to estimate the effect of tube

diameter Dt on the reformer performance.

Fig. 10 (a) and (b) represent the effect of the tube diameter

Dt and the inlet temperature of burner gas Tb on the meth-

anol conversion and the mole fraction of CO of the reformer.

As the inner tube diameter Dt increases from 13:3 mm to

42:1 mm, the number of tubes should be changed from 60 to

6 to maintain the same overall catalyst load in the reactor.

Therefore, the W=FCH3OH is kept constant at 271 kg s mol�1.

Fig. 10 (c) and (d) represent the effect of the tube diameter

Dt, and the W=FCH3OH on the methanol conversion and the

mole fraction of CO of the reformer. In Fig. 10 (c) and (d), the

inlet temperature of burner gas is kept constant at 673 K,

while the W=FCH3OH is set as 135� 405 kg s mol�1. It is

observed that a decrease in diameter leads to an increase in

the methanol conversion for this externally heated multi-

tubular reactor. The reason could be that, for a small tube

diameter, the external heat source can provide sufficient

heat throughout the reactor during operation, allowing for

relatively ideal diffusion and chemical kinetics to reach a

higher methanol conversion. Fig. 10 also indicates that, in

these cases, a smaller difference of the methanol conversion

(less than 1:74%) between these two models can be observed

when the tube diameter decreases to 13:3 mm due to the

smaller radial temperature gradients. Therefore, in these

cases, it could be concluded that it is sufficient to use a

simpler 1D model to estimate the performance of a steam

methane reforming reactor when the tube diameter is less

than 13:3 mm.

Fig. 10 (e) shows the effect of the tube diameter on axial

profiles of the maximum temperature difference in the radial

direction DT ðTmax �TminÞ of reactor tubes. In these cases, the

W=FCH3OH is kept constant at 271 kg s mol�1, and the inlet

temperature of burner gas is set at 723 K. It is apparent from

this figure that the increased tube diameter tends to increase

the non-uniformity of the radial temperature distribution in

the packed catalyst bed. When the inner diameter is 15:5 mm,

the maximum radial temperature difference of 97.5 K is

developed in the reactor tube; and when the inner diameter is

increased to 42.1 mm, a maximum radial temperature differ-

ence of 116:1 K is observed.
ifferent radial positions ðr =RtÞ: Dt ¼ 32:6 mm, Tb ¼ 723 K.
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Fig. 10 e Effect of the tube diameter Dt and the inlet temperature of burner gas Tb on axial profiles of (a) the methanol

conversion, and (b) the mole fraction of CO: W=FCH3OH ¼ 271 kg s mol�1; effect of the tube diameter Dt and the W= FCH3OH on

axial profiles of (c) the methanol conversion, and (d) the mole fraction of CO: Tb ¼ 673 K; and effect of the tube diameter Dt on

axial profiles of (e) the maximum temperature difference in radial direction DT ðTmax � TminÞ: Tb ¼ 723 K, W=FCH3OH ¼
271 kg s mol�1.
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To better understand the overall temperature activity

within the reactor tubes, the temperature profiles estimated

by the 1Dmodel and the 2Dmodel are provided in Fig. 11. Due

to the endothermicity of the MSR process, the lowest tem-

perature appears at the centre of the reactor tube. Besides, the

hot spot arises near the tube wall in the entrance region of the

reactor due to the peak heat flux. It is also visible in Fig. 11 (a)

and (b) and (c) that large tube diameters can enhance the
Please cite this article as: Zhu J et al., Comparison between 1D and
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radial temperature gradients when analysing the temperature

profiles in the catalyst bed. This phenomenon implies that the

heat transfer will be more efficient with the decrease of tube

diameter because the surface area per volume is increased.

Hence, the temperature is distributed more evenly over the

catalyst bed, and the efficiency of the chemical reactions is

improved. These results agree with the findings of Davieau

et al. [33] that the reactor configurations with a smaller
2D numerical models of a multi-tubular packed-bed reactor for
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Fig. 11 e Effect of the tube diameter Dt on axial temperature profiles at different radial positions ðr =RtÞ: Tb ¼ 723 K, W=

FCH3OH ¼ 271 kg s mol�1.
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diameter allow a relatively ideal diffusion and nearly com-

plete methanol conversion in catalyst beds.

Optimization of operating parameters

The operating parameters are sensitive parameters for

achieving the optimal performance of the reformer. In this
Fig. 12 e Effect of the W=FCH3OH and the inlet temperature of bur

CO and (c) maximum hot-spot temperature of the reformer: Dt
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study, the effects of the inlet temperature of burner gas and

theW=FCH3OH are evaluated by characterizing the performance

of the reformer using the 2D model. In Fig. 12, the tube

diameter is set to 18:2 mm. By choosing a smaller tube diam-

eter, a more uniform radial temperature distribution can be

obtained in the catalyst bed. The number of tubes changes

from 5 to 40. Correspondingly, the W=FCH3OH varies from
ner gas on the (a) methanol conversion, (b) mole fraction of

¼ 18:2 mm.
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42 kg s mol�1 to 506 kg s mol�1. As shown in Fig. 12 (a), the

methanol conversion can be improved by adopting a higher

W=FCH3OH and a higher inlet temperature of burner gas. The

effects of the inlet temperature of burner gas and the W=

FCH3OH on the mole fraction of CO are illustrated in Fig. 12 (b).

The results indicate that the increase in the inlet temperature

of burner gas and in the W=FCH3OH will lead to higher CO

concentrations in the reformate gas. As shown in Fig. 12 (c),

the increase in the inlet temperature of burner gas signifi-

cantly increases the maximum hot-spot temperature within

the catalyst bed.

Based on the demands of an HT-PEM fuel cell system, the

reformer should reach a methanol conversion of over 99%.

Moreover, the mole fraction of CO in the reformate gas should

be limited to a reasonable level (e.g., 1% vol). To prevent the

risk of hot-spot formation and subsequent catalyst thermal

sintering in certain areas of the reactor, the temperature in

catalyst beds should always be kept below the safe limit of

553 K. As shown in Fig. 12 (a), there is a region S that is

enclosed by the line of “1% mode fraction of CO” and the line

of “99% methanol conversion”. Therefore, the operating con-

ditions in the region S can simultaneously bring the methanol

conversion to above 99% and the mole fraction of CO to lower

than 1% vol in the reformer. Compared with the contour plot

in Fig. 12 (c), the operating conditions within the region S also

ensure that the maximum hot-spot temperature in the cata-

lyst bedwill not exceed the limits of its endurable temperature

(553 K). Therefore, it can be concluded that the inlet temper-

ature of burner gas in the range of 671 K to 694 K could be

recommended when the W=FCH3OH is set to 506 kg s mol�1.

Additionally, when the W=FCH3OH is set to 216 kg s mol�1, the

inlet temperature of burner gas could be set to 714 K (point A)

to minimize the overall catalyst loading in the reformer.
Conclusions

The numerical study comparing a 1D model and a 2D model

for the methanol steam reforming process in a multi-tubular

packed-bed reformer has been conducted. The steady-state

1D and 2D models have considered the heat and mass trans-

fer processes coupledwith the reaction kinetics in the catalyst

bed. Besides, the burner gas flowing through the shell side has

been modelled as an external heat source using a 1D non-

isothermal model. The simulation results of the kinetic

model and effectiveness factors have shown good agreement

with the experimental data obtained in a small-scale packed-

bed reactor for the MSR process. The 1D model has been

developed without considering the radial heat and mass

transfer. In comparison, the resistances to the radial heat and

mass transfer of the reformer tube have been highlighted and

introduced in the 2D model.

The simulation results revealed that the overall methanol

conversion and the mole fraction of CO in the reformate gas

were enhanced by the elevated inlet temperatures of burner

gas and W=FCH3OH. It was also recognized that the overall

methanol conversion and the mole fraction of CO in the

reformate gas increased as the tube diameter became larger

with a fixed catalyst loading in the reformer. Comparisons of

the 1D and the 2D models indicated the importance of radial
Please cite this article as: Zhu J et al., Comparison between 1D and
methanol steam reforming, International Journal of Hydrogen Energ
gradients from the centreline to the tube wall in packed-bed

reactors. The study showed that the increases in the inlet

temperature of burner gas and the tube diameter significantly

amplified the maximum radial temperature differences in the

catalyst bed. Hot spots were formed near the tube wall in the

entrance region. The increase of the inlet temperature of

burner gas resulted in a significant increase of the hot-spot

temperature inside the catalyst bed. Moreover, with a meth-

anol conversion approaching 100% or a relatively small tube

diameter, the simple 1D plug-flow model could be used

instead of the 2D model to estimate the performance of the

pilot-scale MSR reactor in these cases.
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Nomenclature

as surface-to-volume ratio, m2 m�3

Cp specific heat capacity, J kg�1K�1

CT
Sm

total catalyst surface concentration of site m,

mol m�2

ci concentration of species i, mol m�3

Der effective radial diffusion coefficient, m2 s�1

Di inner diameter of reactor tube, m

Do outer diameter of reactor tube, m

dp diameter of catalyst particle, m

dvp volume-equivalent particle diameter, m

Ej activation energy for rate constant of reaction j,

kJ mol�1

fb area fraction of baffle plate that is window

hs heat transfer coefficient in the shell-side film,

W m�2 K�1

ht heat transfer coefficient in the tube-side film,

W m�2 K�1

K*
i adsorption coefficient of surface species i

Keq
j reaction equilibrium constant of reaction j

kj rate constant for reaction, m2s�1mol�1
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Mi molecular weight of species i, kg mol�1

Nb number of baffle plates

Nt number of tubes

P operating pressure, Pa

pb spacing between baffle plates, m

pi partial pressure of species i, Pa

pt tube pitch, m

R universal gas constant, J K�1mol�1

r radial coordinate, m

ri production rate of species i, mol s�1kg�1

rj reaction rate of reaction j, mol m�2s�1

rp radius of the catalyst pellet, m

Sc surface area per unit mass of fresh catalyst, m2 kg�1

S=C steam to carbon molar ratio

T operating temperature, K

Tb inlet temperature of burner gas, K

Ut heat transfer coefficient in the tube side, W m�2K�1

Us heat transfer coefficient in the shell side, W m�2K�1

us superficial velocity, m s�1

W=FCH3OH ratio of catalyst weight to the molar flow rate of

methanol, kg s mol�1

xi mole fraction of species i

z axial position in the tube, m

Greek symbols

m viscosity, Pa s

DHj reaction heat of reaction j, J mol�1

DT temperature difference, K

h effectiveness factor

ler effective radial thermal conductivity, W m�1 K�1

r density, kg m�3

4 void fraction of catalyst bed

41 Thiel modulus for a first-order reaction

Superscript and subscript

c catalyst bed

er effective radial parameter

i species including CH3OH, H2O, H2, CO2 and CO

j reactions including MSR, WGS and MD

p catalyst particle

x, y, x coordinates
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