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Abstract 

Desalination has become one of the most important approaches to secure the fresh water supply 

for many regions and their significance is expected to gain further momentum with ongoing 

population growth, climate change and accelerated consumption. Despite their technical maturity 

conventional desalination processes exhibit limitations that manifest themselves in considerable 

ecological footprints or high economic costs. Therefore, unconventional desalination processes 

such as membrane distillation (MD) have been attracting significant attention from the scientific 

community offering benefits that could help to overcome some of these limitations.   

MD is a thermally driven process that uses a hydrophobic membrane as a barrier between a warm 

liquid feed and a cooler permeate side allowing only vapor molecules to pass from the feed to the 

permeate side. As is the case for all membrane-based separation processes, the characteristics 

of the membranes utilized in MD mainly define the performance (mass transfer rate, rejection rate 

and energy efficiency) of the process and thus the commercial interest. Due to their intrinsic 

hydrophobic characteristics as well as their good mass transfer properties the utilization of 

polymeric membranes is state of the art in MD. However, in order to extend the areas of application 

of MD processes to aggressive solutions, thermally, mechanically and chemically robust 

membranes are required. While ceramic membranes offer a superior stability in comparison with 

polymeric membranes (which could facilitate the treatment of aggressive solutions with MD) 

research must yet demonstrate their suitability for MD processes as well as highlight approaches 

for membrane optimization.   

For this work, a variety of different types of modified ceramic membranes (e.g. material and layer 

design) was fully characterized regarding their specific membrane properties (e.g. pore size, 

thermal conductivity and hydrophobic characteristics) and subsequently tested in direct contact 

membrane distillation (DCMD) and vacuum membrane distillation (VMD) treating synthetic and 

real saline solutions. This data was then used to calculate the mass transfer of asymmetric 

ceramic membranes using a VMD model (based on the Dusty-Gas Model) suggested by the 

literature and to assess the performance (i.e. stability, mass transfer, selectivity and energy 

efficiency) of modified ceramic membranes in MD in respect to specific membrane properties and 

operational parameters. Subsequently, the aptitude of ceramic membranes for MD processes 

could be evaluated and concepts for the optimization of ceramic membranes proposed. By doing 

that, a foundation was established that can help to boost the commercialization of ceramic 

membranes in MD.  

Ceramic membranes were modified with several hydrophobic agents which led to the identification 

of a non-fluorinated hydrophobic molecule as a potential alternative to the fluorinated agents that 



 

 
 

are commonly used. The liquid entry pressure (LEP) was determined to be higher than 2.5 bar for 

all membranes with pore sizes smaller or equal to 400 nm modified with fluorinated and non-

fluorinated hydrophobic agents but showed a strong dependency on the testing solution 

characteristics. While symmetrically structured ceramic membranes modified with a fluorinated 

agent were the only membrane type robust enough to withstand the contact with a hot saline acidic 

solution over 96 hours, they showed considerably lower permeate fluxes in VMD than 

asymmetrically structured ceramic membranes. Modified asymmetrically structured ceramic 

membranes showed higher mass transfer rates in VMD than in DCMD. While the support 

properties mainly defined the extent of the mass transport of asymmetrically structured ceramic 

membranes in VMD, the mass transport in DCMD was considerably affected by the membrane 

layer characteristics (e.g. pore size of the final membrane layer). A VMD model suggested by the 

literature was successfully adapted using corrections factors to facilitate mass transfer 

calculations for asymmetrically structured TiO2 membranes. TiO2 and Al2O3 membranes were 

successfully used to treat highly saline solutions (synthetic and real) in VMD. However, TiO2 

membranes outperformed Al2O3 membranes in DCMD and VMD because they are less affected 

by temperature polarization due to their lower thermal conductivity. For instance, excellent 

rejections above 99.9 % and permeate fluxes of up to 35 kg/(m² h) were achieved treating a highly 

concentrated NaCl solution (350 g NaCl per kg H2O) using a TiO2 membrane (final pore size: 

100 nm) in VMD. The mass transfer rates achieved using modified ceramic membranes in VMD 

were essentially competitive to the permeate fluxes of polymeric membranes determined under 

similar test conditions (derived from the literature). However, it was shown that the low energy 

efficiency of ceramic membranes remains a big obstacle for their commercialization in MD 

processes and must be the focal point of membrane optimization efforts. 

Keywords 

Ceramic membranes, contact angle, desalination, direct contact membrane distillation, energy 

efficiency, hydrophobic agent, liquid entry pressure, membrane layer design, membrane 

distillation, membrane modification, membrane stability, modelling, permeance, permeate flux, 

rejection, real solutions, saline solution, vacuum membrane distillation 

 

 

 

 



 

 
 

Kurzfassung 

Die Entsalzung ist eine der wichtigsten Technologien, um den Frischwasserbedarf in vielen 

Regionen der Welt sicherzustellen. Bevölkerungswachstum, der Klimawandel und stetig 

steigender Konsum werden die Bedeutung von Entsalzungstechnologien weiterwachsen lassen. 

Die Möglichkeit des Einsatzes etablierter konventioneller Verfahren wird begrenzt durch die hohen 

ökologischen und ökonomischen Kosten dieser Verfahren. Unkonventionelle 

Entsalzungsverfahren wie die Membrandestillation (MD) bieten einige Vorteile, mit denen sie 

konventionelle Verfahren jenseits dieser Limitationen ergänzen können. Die MD ist ein thermisch 

angetriebener Prozess, in welchem eine hydrophobe Membran das warme, flüssige Feed 

räumlich von der kälteren Permeatseite trennt, während nur dampfförmige Moleküle durch die 

Membran permeieren können. Wie in allen membranbasierten Trennprozessen bestimmen die 

Charakteristika der verwendeten Membran die Leistungsfähigkeit (Massentransport, 

Rückhaltevermögen und Energieeffizienz) des Prozesses und das damit verbundene 

kommerzielle Interesse. Durch ihre intrinsisch hydrophoben Materialeigenschaften und ihren 

guten Massentransfercharakteristika ist die Verwendung von Polymermembranen in der MD 

aktuell Stand der Technik. Um die Einsatzmöglichkeiten von MD Verfahren auf aggressive 

Lösungen zu erweitern, werden thermisch, mechanisch und chemisch stabile Membranen 

benötigt. Obwohl keramische Membranen im Vergleich zu Polymermembranen eine höhere 

Stabilität aufweisen (wodurch die Behandlung von aggressiven Lösungen mit MD-Verfahren 

prinzipiell möglich wird) muss die Eignung von keramischen Membranen für MD-Verfahren 

wissenschaftlich belegt und ein Konzept zur Membranoptimierung entwickelt werden.   

Im Rahmen dieser Arbeit wurden verschiedene Typen modifizierter keramischer Membranen  

(z.B. Materialauswahl und Schichtaufbau) vollständig im Hinblick auf ihre spezifischen 

Membraneigenschaften (z.B. Porengröße, Wärmeleitfähigkeit und hydrophobe Eigenschaften) 

charakterisiert und anschließend unter Verwendung von salzhaltigen Lösungen in der 

Direktkontaktmembrandestillation (DCMD) und der Vakuummembrandestillation (VMD) getestet. 

Diese Daten wurden genutzt, um den Stofftransport von asymmetrischen keramischen 

Membranen unter Verwendung eines anerkannten VMD-Modells (basierend auf dem Dusty-Gas-

Modell) zu berechnen und um die Leistungsfähigkeit (d.h. Stabilität, Stofftransport, Selektivität und 

Energieeffizienz) von modifizierten keramischen Membranen in der MD in Hinblick auf spezifische 

Membraneigenschaften und Verfahrensparameter zu bewerten. Anschließend wurde die Eignung 

von keramischen Membranen für MD-Prozesse evaluiert und Optimierungskonzepte für 

keramische Membranen vorgeschlagen. Damit wurde mit dieser Arbeit die Grundlage gelegt, die 

Kommerzialisierung von keramischen Membranen in der MD voranzutreiben.   



 

 
 

Keramische Membranen wurde mit verschiedenen Molekülen hinsichtlich ihrer 

Oberflächeneigenschaften modifiziert. Dadurch konnte ein nicht-fluorisiertes Molekül als 

potenzielle Alternative zu den üblicherweise verwendeten fluorierten Molekülen identifiziert wurde. 

Für alle modifizierten Membranen (unabhängig von dem Hydrophobierungsmittel) mit 

Porengrößen kleiner oder gleich 400 nm, wurde ein Flüssigkeitseindringdruck (LEP) über 2,5 bar 

gemessen, welcher jedoch eine starke Abhängigkeit von den Eigenschaften der Testlösung zeigt. 

Während symmetrisch aufgebaute keramische Membranen modifiziert mit einem fluorierten 

Hydrophobierungsmittel die Behandlung mit heißer, salzhaltiger Lösung über 96 Stunden 

standhielten, zeigten diese deutlich geringere Permeatflüsse in der VMD als asymmetrisch 

strukturierte keramische Membranen. Der Stofftransport von asymmetrischen keramischen 

Membranen war in der VMD höher ausgeprägt als in der DCMD. Der Stofftransport von 

asymmetrischen keramischen Membranen wird in der VMD vorwiegend von den 

Supporteigenschaften beeinflusst, während der Strofftransport in der DCMD erheblich von den 

Eigenschaften der trennaktiven Membranschicht (z. B. die Porengröße) bestimmt wird. Ein in der 

Literatur beschriebenes VMD-Modell in Bezug vorhandener Defizite durch Korrekturfaktoren 

erfolgreich erweitert und zur Berechnung des Strofftransportes für asymmetrische TiO2
 

Membranen angewandt. TiO2 und Al2O3 Membranen wurden in der VMD erfolgreich zur 

Behandlung hochkonzentrierter Salzlösungen (synthetische und reale Lösungen) verwendet. TiO2 

Membranen zeigten höhere Permeateflüsse als Al2O3 Membranen in der DCMD und der VMD. 

Das begründet sich insbesondere bedingt durch die bessere Moderierung von 

Temperaturpolarisationseffekten aufgrund der geringen Wärmeleitfähigkeit von TiO2 Membranen. 

Beispielsweise wurden bei der Behandlung einer hochkonzentrierte NaCl-Lösung  

(350 g NaCl pro kg H2O) mit einer TiO2 Membran (Finale Porengröße: 100  nm) in der VMD 

hervorragende Salzrückhalte von über 99,9 % und Permeatflüsse von bis zu 35 kg/( m² h) erreicht. 

Die Stofftransportraten der modifizierten keramischen Membranen in der VMD sind im Vergleich 

zu den Permeatflüssen von Polymermembranen (Literaturwerte) unter ähnlichen 

Testbedingungen wettbewerbsfähig. Es wurde gezeigt, dass die geringe Energieeffizienz von 

keramischen Membranen weiterhin die größte Herausforderung für deren kommerzielle Nutzung 

in MD-Prozessen darstellt und diese der Fokus der Membranoptimierung darstellen sollte. 
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1 Introduction 

1.1 Motivation and Background  

Resources that are easily accessible by humankind are limited. This applies not only to precious 

metals and rare earth elements that secure our lifestyle and technological advancement but also 

to fertile soil and fresh water that are a fundamental requirement for human life. Access to clean 

water secures the food supply, hygienic standards and industrial growths [1] and is a prerequisite 

for human health and wellbeing. Although the United Nations General Assembly recognized the 

access to clean water and sanitation as a human right (Resolution 64/292) [2] and the 2030 

Agenda for Sustainable Development (including the goal 6: Clean water and sanitation’) was 

ratified by all United Nations Member States in 2015 around 71 % of the population experiences 

moderate to severe water scarcity while 66 % (four billion people) face severe physical water 

scarcity at least one month per year [3]. A growing population (projected to reach 9.7 billion by 

2050 [4]) increased urbanization, accelerated consumption and economic activity as well as the 

deteriorating climate crises (changing precipitation patterns, increasing global temperatures, 

frequent extreme weather events [5]) and ongoing environmental pollution [6–8] will limit the 

access to clean water in many regions of the world even more. The water demand is projected to 

increase by one-third until 2050 [8] while half of the world’s population is forecasted to live in water-

stressed regions [9]. Conventional fresh water sources such as groundwater, lakes, and rivers 

(replenished by rain and snowfall) are no longer sufficient to cover the water demand in many 

regions. Consequently, humanity needs to increase its efforts to provide sufficient freshwater 

quantities to current and future generations through unconventional instruments. This means that 

in addition to the reduction of the amount of water that is wasted or lost through carelessness, 

luxurious lifestyles and aging infrastructure, non-traditional impaired freshwater sources including 

saline sea, brackish and river water as well as industrial, agricultural and municipal waste waters 

(e.g. produced water and mining waste water) must be utilized [10].   

Due to the overexploitation of traditional fresh water sources (e.g. groundwater) and the improved 

technical maturity of conventional desalination processes, desalination processes are increasingly 

acknowledged as a viable option to obtain fresh water from saline water sources and already 

contribute significantly towards meeting the current domestic and municipal water demand in 

many regions [6]. In February 2020 the global fresh water production capacity via desalination 

processes amounted to 114.9 million m³ per day facilitated by 16,876 desalinations plants [11] 

with the Middle East and North Africa (MENA) having about 50 % of the desalination capacity [6]. 

The capacity has been growing by around 7 % on a yearly basis from 2010 and is expected to 
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grow at the same rate for the MENA countries in the future whereas other regions (e. g. Asia and 

North America) will experience an even stronger growth. For instance, China was expected to 

boost its desalination capacity from about 1 million m³ per day in 2013 to over 3 million m³ per day 

by 2020 [12]. Even though technical mature desalination technologies bring vital relief to regions 

that are vulnerable to water shortages by providing reliable water supply irrespective of the local 

freshwater availability they have technical limitations, high economic costs and considerable 

ecological footprints [6,13]. Conventional desalination processes are grouped into membrane-

based and thermal desalination processes. The most popular membrane-based process is 

Reverse Osmosis (RO) whereas multi-stage-flash (MSF) and multi-effect distillation (MED) are 

widespread thermal desalination processes. RO progressed significantly in the last decade in 

terms of energy consumption, permeate flux and capacity flexibility and became the most energy 

efficient (seawater as feed: 2 - 7 kWhe/m³ permeate [14]) and cost effective conventional 

desalination process [11,15,16] accounting for 69 % of the global desalination capacity in 2019 

[6]. MED and MSF make up around 18 % and 7 % of the global desalination capacity respectively 

[6]. MED and MSF are limited through corrosion processes that inhibit feed salinities above  

6 - 7 wt.% [10,17], are not easily scalable, have higher space requirements and higher energy 

consumptions (MED: 1.5 - 2.5 kWhe/m³ + 5 - 8.5 kWhth/m³ and MSF: 3.4 - 4.5 kWhe/m³ + 

5.6 - 8.0 kWhth/m³ [12,14]) than RO processes (2 - 7 kWhe/m³ permeate) and are not as cost 

effective [6,18,19]. Although RO processes are competitive with thermal desalination processes 

in terms of energy consumption, costs, and flexibility they also exhibit limitations. RO processes 

are limited by the osmotic pressure (the treatment of feeds with TDS concentrations > 70 g/L is 

not viable [20]), decline in performance due to scaling and fouling processes and require a 

sufficient pretreatment of the feed [21,22]. Another important issue is the negative effect 

conventional desalinations processes have on the environment. For instance, 141 million m³ of 

brines were produced per day (as of 2019) which are typically discharged untreated into the 

marine ecosystem [6]. Brines (the term brine is usually used for saline streams with concentrations 

of total dissolved salts (TDS) > 55,000 mg/L [20]) generated as a byproduct of desalination is not 

only of higher salinity and temperature relative to ambient seawater but can be loaded with 

pretreatment chemicals organic substances and heavy metals [20,23] and are often discharged 

into open water bodies where they can do tremendous damage to the environment and local 

marine ecosystem [24].   

Despite the fact, that conventional desalination technologies have proven reliable and achieved 

technical maturity the above-mentioned limitations (e.g. energy consumption, osmotic pressure, 

pretreatment requirements) and stricter environmental regulations and guidelines are strong 

drivers for the optimization and commercialization of emerging desalination technologies such as 



 

3 

 

membrane distillation (MD), electrodialysis and electrodialysis reversal (ED/EDR), capacitive 

deionization (CDI), membrane capacitive deionization (MCDI), adsorption desalination (AD), 

humidification-dehumidification, microbial desalination and forward osmosis (FO) [25,26]. Jones 

et al. 2019 [6] pointed out that second to RO processes emerging technologies are being 

investigated the most among all desalination technologies by the scientific community in recent 

years. This trend clearly indicates the strong demand in alternative technologies addressing the 

challenges related to desalination and will further increase their recovery ratios (possibly enabling 

zero liquid discharge (ZLD)), lower their energy demand and costs, increase their flexibility and 

reduce their environmental footprints in respect to conventional desalination processes.   

Due to the fact that MD processes combine the benefits of thermally driven processes (relatively 

low sensitivity to the feed composition) with the flexibility of membrane-based processes, research 

interest in MD has grown considerably in the last decades with almost 200 peer-reviewed MD 

articles published in 2018 [27]. MD processes can operate with temperatures below the boiling 

point and therefore supports the utilization of low-grade energy sources (e. g. waste heat, solar 

power and geothermal heat) [28]. Scaling of membrane distillation processes is generally 

convenient as membrane processes are modularly designed, allowing the adaption of the 

membrane/evaporation surface by adding or reducing the number of membrane modules. 

Through the utilization of membranes as contactors in MD processes, the evaporation surface can 

be adjusted easier than with vacuum distillation processes (= thermal distillation). Thereby MD 

offers an energy-attractive approach for the (off-grid) treatment of high concentrated solutions 

(concentrations that are too high for RO processes), potentially enabling ZLD targets [17,29]. Due 

to the lack of viable heat recovery and multi-stage concepts in pilot scale (no cost competitiveness) 

as well as the absence of MD-customized membranes MD processes are not fully commercialized 

yet [30].    

Polymeric membranes are most commonly utilized in MD processes due to their low cost, 

intrinsically hydrophobic surfaces, and good mass transfer characteristics [28,31] but are not 

robust enough when applied to aggressive feed solutions (e. g. highly concentrated brines with 

abrasive characteristics, extreme pH, solvent and oxidant laden solutions) which can lead to their 

permanent degeneration [32–36]. A robust alternative membrane platform for more extreme feed 

solutions are ceramic membranes which offer superb thermal, chemical and mechanical stability 

compared to polymeric membranes [37,38]. Ceramic membranes have only been investigated in 

about 20 % of all MD related publications [36] which is due to their comparatively high 

manufacturing costs and intrinsic hydrophilic surfaces. Ramelow et al. 2019 [36] give an extensive 

overview of MD studies (lab-scale) utilizing ceramic membranes with varying characteristics and 

reported superb salt rejections and competitive permeate fluxes for ceramic membranes in 
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comparison with polymeric counterparts. Therefore, customized robust ceramic membranes 

utilized in MD processes could be a viable alternative for treatment of aggressive solutions that 

are too extreme for polymeric membranes. This assessment establishes the motivation for the 

research activities and results that are presented within this doctoral thesis that aims to lay the 

foundation to broaden the applications of ceramic membranes in MD processes.  

 

1.2 Main Objective, Approach and Outline of this Work 

The main objective of this work was to evaluate the strengths and limitations of ceramic 

membranes utilized in MD processes for the treatment of saline solutions. Furthermore, this work 

aimed to use the obtained information to give stimuli for membrane adaptation and optimization 

supporting the commercialization of ceramic membranes in MD processes while identifying and 

extending the most promising areas of application. In order to design and plan the research 

activities within this work (in respect to the mentioned above objectives) several scientific 

questions were defined: 

1. Does the modification of hydrophilic ceramic membranes using hydrophobic agents 

enable their utilization in MD? 

2. How do specific membrane and solution characteristics affect the extent and stability of 

the hydrophobic surface properties? 

3. How do specific membrane characteristics affect the membrane performance in MD? 

4. Is a specific MD configuration more suitable for the use of ceramic membranes in MD?  

5. How do process parameters affect the performance of ceramic membranes in MD? 

6. Are modified ceramic membranes used in MD processes suitable to treat aggressive 

media? 

7. Can accepted MD mass transfer models facilitate the simulation of the mass transport 

through asymmetric (multi-layer) ceramic membranes and are adaptations required? 

8. Is the mass transfer of ceramic membranes competitive to the mass transfer of polymeric 

membranes in MD? 

By considering these questions specific research activities could be designed and planned that 

lay the foundation of the structure of the work and enabled a strategic approach to achieve the 

main objectives stated above.  

The structure of this work (research activities and their interconnections) is presented 

schematically in Figure 1 along with a reference to the respective chapter of this thesis and the 
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specific research question that governed a particular part of this work. The following paragraph 

will give an overview of the research activities conducted.  

Fluorinated and non-fluorinated hydrophobic agents were used to modify ceramic flat sheet 

membranes and a selection of single channel membranes (chapter 3.1, Table 5) with different 

characteristics (e.g. material, pore size).   

These membranes and non-modified counterparts were characterized in respect to relevant 

membrane properties (e.g. pore size, thermal conductivity, hydrophobic characteristics) using 

standard characterization methods (e.g. mercury porosimetry) as well as other investigative 

methods such as thermal conductivity scanning, steady state gas permeance tests, contact angle 

measurements and liquid entry pressure tests, chapter 4.1). For instance, liquid entry pressure 

tests were used to investigate the impact of the membrane pore size as well as testing solution 

characteristics (temperature and composition) on the hydrophobic properties of a variety of 

modified ceramic single channel membranes (chapter 4.1.3).   

Direct contact membrane distillation (DCMD) and vacuum membrane distillation (VMD) tests were 

conducted on different fully characterized modified ceramic single channel membranes using a 

fixed set of process parameters (chapter 4.2). This was done to gain insight into the interaction 

between specific membrane properties (e.g. layer design, pore size, membrane thickness and 

thermal conductivity) and membrane performance (permeate flux and rejection/permeate quality) 

in respect to these MD configurations.   

The stability of a variety of ceramic membranes with different surface modifications and layer 

designs against hot saline solutions characterized by extreme pH values was investigated using 

LEP tests (chapter 4.2.5).   

The effect of relevant process parameters (e.g. feed temperature, flow velocity and permeate 

pressure) on the performance of Al2O3 and TiO2 single channel membranes was investigated 

using synthetic and real feed solutions (chapter 4.3).   

Furthermore, mass transfer calculations based on the Dusty-Gas-Model and semi-empirical 

relationships suggested by the literature were conducted in consideration of crucial membrane 

characterization data while addressing model deficiencies (chapter 4.4). This was done to 

establish a mass transfer modelling fundament for ceramic membranes in MD that can be 

extended in future works and possibly serve as a valuable tool for membrane optimization in the 

future.  

Finally, the performance data of the investigated ceramic membranes is discussed and compared 

with data on polymeric membranes presented in the literature. The strength and limitations of 

modified ceramic membranes with focus on real MD applications was highlighted and a path for 

membrane optimization with focus on the energy efficiency (great impact on cost-efficiency) was 
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proposed (chapter 4.5).   

The in-depth and up-to-date understanding of MD processes (e. g. strength and limitations, 

applications, configurations and heat and mass transfer) and of the membranes utilized in MD 

processes (e. g. membrane properties, ceramic membrane manufacturing and modification) given 

in the theory section (chapter 2) governs the discussion and puts the presented data in 

perspective. For instance, MD mass transfer simulation data presented in the result section will 

be based on accepted models and underlying assumptions introduced in the heat and mass 

transfer chapter of the theory section (chapter 2.5). 

 

 

Figure 1: Schematic representation of the structure of this work and the underlying research activities in reference to 
the respective chapter of this thesis and the specific research question that governed a particular part of this work 

 

 

 

 

 



 

7 

 

2 MD Theory 

2.1 Principle, Applications and Configurations 

MD is not a novel process. The first patent related to the MD process was filed in 1963 whereas 

the first scientific paper was published in 1967. But only in 1986, the term ‘Membrane Distillation’ 

was chosen by a scientific committee at a workshop in Rome to distinguish the MD process from 

conventional thermal separation processes [39]. This was necessary since the MD process is – 

just like all thermal processes – temperature dependent and relies on a phase change based on 

the vapor-liquid equilibrium [27]. With the term MD, the emphasis was put on the membrane that 

is imperative to the distillation process.   

Since then, the term MD refers to a thermally induced separation process that utilizes a 

hydrophobic porous membrane as a barrier between a warm feed and a cooler permeate side. 

The driving force is a partial pressure gradient across the membrane caused by a temperature 

difference between the interfaces of the membrane. The partial pressure gradient leads to the 

evaporation of a liquid (e.g. water) and the subsequent transport of its gas phase through the 

membrane to the permeate side where its condensation takes place (Figure 2) [27,34,40]. 

 

 

Figure 2: Schematic representation of the MD process (pi: partial pressure of the respective species, e. g. water vapor)
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The most attractive feature of the MD process is that evaporation already occurs below the boiling 

point and low-grade energy sources such as solar and geothermal energy and waste heat can be 

applied to generate the driving force. In addition, the MD process hybridizes the benefits of thermal 

and membrane-based processes and is less sensitive to the salinity levels of the feed than 

conventional desalination technologies. Additionally, MD processes enable the theoretical 

rejection of 100 % of non-volatile compounds (e.g. salts, inorganic compounds, and 

macromolecules), allow low operating pressures and have little space requirements in comparison 

to conventional thermal desalination processes. Furthermore, MD processes have a good 

scalability due to their modular design, are easy to couple with other processes and are less prone 

to fouling than pressure driven membrane processes [41–46].   

In the past, these characteristics led to the belief that MD processes could advance beyond the 

limitations of conventional seawater desalination technologies such as RO, MED and MSF and 

pose an attractive alternative to them. If the number of studies focused on MD published between 

2011 and 2016 is taken as an indicator, sea water desalination is still the most popular potential 

commercial MD application [31]. However, since conventional desalination technologies have 

been on the market at an industrial scale for decades and have proven reliable and very few 

scientific studies demonstrated that MD processes have achieved competitive energy-efficiency, 

MD processes will not widely replace conventional sea water desalination technologies in the near 

future [17,47,48]. Thomas et al. 2017 [31] offered an explanation on why MD research is still mainly 

focused on sea water desalination applications despite the lack of data that supports the 

competitiveness of MD processes in this area. It is argued that there is a tendency to shape 

research articles in a way that makes them more attractive for reputed journals and that 

desalination applications simply offer cheap and easily available feed solutions. For instance, it is 

easier to make a 3.5 wt.% NaCl feed solution than to obtain a specific solution originating from the 

food or chemical sector. In addition, the use of the 3.5 wt.% NaCl feed solution makes the data to 

be published more consistent with topics promoted by the Journal ‘Desalination’ which has a 

relatively high impact factor. This possibly makes sea water desalination the dominant MD 

research topic even though MD has yet to prove its competitiveness with conventional sea water 

desalination processes and other MD applications being significantly more attractive [31].  

After the desalination of sea water, waste water treatment (e.g. waste waters from the textile and 

mining industry and olive mills and produced waters) is the most popular MD research topic 

followed by brine concentration which is expected to further gain popularity [31]. The MD process 

allows the further concentration of brines, increased water recovery, limiting brine volumes and 

even enabling Zero-Liquid-Discharge and resource recovery (e.g. salts) if coupled with a 

crystallizer unit [49]. The interest in MD brine treatment is growing due to the increasing number 



 

9 

 

of desalination plants globally which lead to a surge in brine production and subsequently to the 

intensification of related environmental risks and challenges demanding technical solutions to 

address those [19,31]. The interest in MD processes applied in the food processing sector (e.g. 

concentration of fruit juices and flavor/aromatic compounds and removal of volatile compounds 

such as ethanol [27,31]) and chemical industry (e.g. concentration of butanol, glycerol and 

isopropanol, removal of ammonia and VOCs and the recovery of acids) for MD applications has 

been declining significantly over the last years. Other MD research topics such as the removal of 

arsenic, boron, fluoride, herbicides and the concentration of ginseng extract, medicinal herbal 

products or lignocellulosic hydrolysates have been investigated in a modest number of 

publications [31].  

Several MD configurations have been developed and studied over the years that mainly differ from 

each other regarding how the driving force is generated and the way the permeating vapor is being 

condensed [50]. The four basic MD configurations are referred to as direct contact membrane 

distillation (DCMD), air gap membrane distillation (AGMD), vacuum membrane distillation (VMD) 

and sweep gas membrane distillation (SGMD) and are depicted in Figure 3. 

  

 

Figure 3: Schematic representation of the four main MD configurations (DCMD, AGMD, VMD and SGMD) 
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All the configurations have in common that one side of the membrane is in direct contact with the 

feed solution [51]. In DCMD both sides of the membrane are in direct contact with a liquid. The 

permeate side of the membrane module is fed with a cooling liquid (usually demineralized water) 

that causes the permeating vapor to condensate on the permeate side inside the membrane 

module (Figure 3a) [52]. DCMD is considered to be the most simple MD set-up and thus frequently 

chosen as the MD configuration used in MD related studies in counter-current flow mode (35 % of 

all MD studies in 2018 were conducted using DCMD) [17,30,53]. As the membrane is in direct 

contact with the hot feed and coolant this MD configuration is characterized by the highest 

conductive heat loss and strongest temperature polarization effects among the four main 

configurations [28,54] which can greatly reduce the thermal efficiency of the MD process. Another 

disadvantage of DCMD is the increased risk of wetting on the permeate side of the membrane 

which subsequently can further affect the mass transport, rejection, and thermal efficiency of the 

separation process [55].  

In AGMD a gap filled with stagnant air is introduced between the permeate side of the membrane 

and a condensation surface that is being cooled by a coolant from the other side. Thus, the vapor 

diffuses not only through the membrane but also through the air gap until it eventually condensates 

on the cold surface (Figure 3b) [29,30,56]. The air gap imposes a thermal insulation and reduces 

the thermal losses via heat conduction but also increases the mass transfer resistance for the 

transported molecules due to longer diffusion distances [28,56,61]. In AGMD, the condensed 

permeate has typically no contact with the membrane surface [56], thus reducing the risk of wetting 

on the permeate side.    

In VMD a vacuum is applied to the permeate side of the membrane. The gradient between the low 

pressure on the permeate side and the saturation pressure of the respective molecules on the 

feed side generates the driving force needed to evaporate and transport the volatile molecules 

across the membrane (Figure 3c) [30]. The condensation typically takes place outside of the 

membrane module [29]. VMD is characterized by high fluxes and relatively good thermal 

efficiencies in comparison with the other main MD configurations and particularly suitable for 

membranes with high thermal conductivities such as ceramic membranes [55,56]. This is because 

the low pressure on the permeate side leads to the removal of inert gases (air is being continuously 

evacuated) from the pores that act as resistance to the mass transport and averts strong 

temperature polarization effects due to the thermal insulation by the vacuum that lowers the heat 

transported via conduction considerably [56]. Since there is no direct contact with any kind of 

solution with the permeate side of the membrane, VMD is considered particularly suitable for the 

separation of molecules with low surface tensions such as alcohols from diluted aqueous solutions 

[28,57,58]. VMD is catching up to DCMD in regard to the most research MD configuration 
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accounting for 35 % of all MD publications focus on a specific configuration [30]. The main 

drawbacks of VMD are the relatively extensive experimental set-up (vacuum pump and external 

condenser) and the higher risk of pore wetting induced by the vacuum [28,56,59,60].   

In SGMD a cold inert gas sweeps through the air gap on the permeate side carrying the 

evaporated water or volatile molecules to an external condenser (Figure 3d) [41]. The driving force 

is the vapor pressure gradient across the membrane based on the temperature difference from 

the feed solution to the sweep gas and the vapor saturation of the sweep gas. A drawback of this 

configuration is that due to the low thermal capacity of the gas stream and the absorption of warm 

vapor and conducted heat, a strong increase of the temperature of the sweep gas can occur during 

operation which in return limits the driving force considerably [56]. Another disadvantage is the 

technical outlay of this configuration and high equipment costs related to it since a compressor 

and a large external condenser must be integrated in the process [54,56]. In SGMD, the liquid 

permeate has no direct contact with the permeate side of the membrane, which makes this 

configuration suitable for the evaporation of compounds with low surface tension such as alcohols 

from aqueous solutions [62,63].   

Several unconventional MD configurations such as thermostatic sweeping gas membrane 

distillation, multi-effect membrane distillation, vacuum multi-effect membrane distillation, material‐

gap membrane distillation and permeate-gap membrane distillation have also been developed 

and investigated with the goal to lower energy consumption and improve the permeate flux [64]. 

If the SGMD is combined with the AGMD and the inert gas is passed through the gap between 

the membrane and a cold condensation surface the configuration is referred to as thermostatic 

sweeping gas membrane distillation (TSGMD). Part of the vapor condenses on the condensation 

surface as in AGMD and the rest of the vapor is condensed through the external condenser as 

used in SGMD. The cold condensation surface is implemented to moderate the increase in the 

sweeping gas temperature and to subsequently enhance the driving force along the membrane 

length [63,65]. In multi-effect membrane distillation (MEMD) the AGMD set-up consists of several 

stages which utilize an internal heat recovery system to enhance the thermal efficiency of the 

process. In this configuration the cold feed is used to cool the condensation surface. Furthermore, 

the feed for subsequent stages is preheated by absorbing the heat that is released through the 

condensed vapor produced by the prior membrane stage [64,66,67]. This configuration was 

promoted as the commercial Memstill® MD system [66]. Another configuration that was developed 

to increase the energy efficiency is the vacuum multi-effect membrane distillation (V-MEMD). The 

V-MEMD configuration is characterized by a vacuum that is applied to the MEMD set-up [67]. As 

characteristic for MEMD, this configuration involves multiple evaporation–condensation stages 

[64] but uses the low absolute pressure on the permeate side to decrease unnecessary heat 



 

12 

 

transfer and to continuously remove inert gases from the process to minimize the mass transport 

resistance. This configuration is being marketed through the companies SolarSpring GmbH 

membrane solutions and Memsys Water Technologies GmbH and has achieved 

commercialization [67]. When the air gap in AGMD is filled with a material the configuration is 

called Material Gap Membrane Distillation (MGMD). The materials that are typically used are poly 

urethane (sponge), poly propylene mesh, sand, aluminum mesh and pure water in addition to 

other materials [64,68,69]. The material is used to either decrease the mass transfer resistance 

for the vapor molecules while minimizing the heat transfer via heat conduction (low thermal 

conductivity material) leading to a better thermal efficiency or to simply decrease the mass 

transport resistance and enhance the permeate flux without considering the thermal efficiency of 

the process (high thermal conductivity material) [70–72]. If the air gap is filled with pure water or 

permeate the configuration is also referred to as permeate gap membrane distillation (PGMD) or 

liquid gap membrane distillation (LGMD) [64]. The liquid in the air gap reduces the mass transfer 

resistance since the evaporation of the vapor takes immediately places inside the liquid when 

reaching the permeate side just like in DCMD but exhibits lower heat losses. Another benefit of 

the PGMD configuration is the use of feed water as a coolant inside the module while effectively 

preheating the feed solution [69].  

 

2.2 General Characteristics of Membranes used in Membrane Distillation 

Processes 

2.2.1 Hydrophobicity 

Most importantly, MD membranes are required to be hydrophobic to prevent the liquid feed from 

infiltrating the pores of the membrane subsequently leading to the contamination of the permeate 

side [41] while facilitating the vapor transport. In DCMD, infiltration of the permeate/coolant into 

the pores of the permeate side of the membrane can also take place. The infiltration on the 

permeate side can affect the mass transport positively or negatively which is decided by the layer 

design and thermal conductivity of the membrane [55]. The extent of the hydrophobicity of a 

membrane surface is proportional to the free surface energy of the membrane and is typically 

characterized by contact angle (CA) measurements (typically on flat surfaces) or liquid entry 

pressure (LEP) tests [73–75]. The contact angle is the angle at which a surface is in contact with 

a liquid interface and determines the wettability of a surface regarding a specific liquid and the 

surrounding gas phase. The angle represents the mechanical equilibrium of a liquid drop under 

the action of the interfacial tensions (= surface tension or surface energy) between the membrane 

https://www.sciencedirect.com/topics/engineering/feedwater
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surface and the gas phase 𝛾𝐺𝑆 [N/m], the membrane surface and the liquid 𝛾𝐿𝑆 [N/m] and the liquid 

and the gas phase 𝛾𝐿𝐺 [N/m].  

If a liquid drop rests without a significant spread on the surface (𝜃𝐶𝐴 > 90°, Figure 4a) the surface 

is hydrophobic towards the liquid. If the drop of a liquid spreads significantly (𝜃𝐶𝐴 < 90°, Figure 4b 

on a surface the surface is hydrophilic towards the liquid [76]. 

 

 

Figure 4: Schematic representation of a contact angle describing a hydrophobic surface (a:  θ > 90°) and a contact 
angle defining a hydrophilic surface (b: θ < 90°)  

 

A contact angle related parameter that is being used to describe the wettability of rough or 

heterogenous surfaces is the contact angle hysteresis (CAH). This parameter is defined as the 

mathematical difference between the advancing contact angle and the receding contact angle (on 

a heterogenic or rough surface the receding CA is typically smaller than the advancing CA.) which 

are formed if a droplet slides down a slope or is being enlarged or shrunk respectively. [77,78]. 

Models that consider the roughness and the porosity of a surface have also been proposed and 

are discussed in more depth elsewhere [79–81].   

The LEP is defined as the minimum transmembrane pressure that is required to overcome the 

hydrophobic forces of the membrane surface and is considered an important key parameter of 

membranes that are utilized in MD processes [28]. The LEP is strongly dependent on the 

morphological parameters and the free surface energy of the membrane as well as the feed 

temperature and composition of the feed [82]. Franken et al. 1987 [73] proposed a model to 

determine the LEP based on the Laplace-Young equation: 

 

 𝐿𝐸𝑃 = ∆𝑃 =
2𝐵𝑔𝑐𝑜𝑠𝜃𝐶𝐴𝛾𝐿𝐺

𝑟𝑚𝑎𝑥
 (1) 

 

With 𝐵𝑔 [-] as a fit parameter to describe the pore geometry (0 < 𝐵𝑔 ≤ 1, 1 for perfect cylindrical 

pores), 𝜃𝐶𝐴 [°] is the intrinsic contact angle of the wetting liquid with the membrane surface 𝛾𝐿𝐺 
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[N/m] is the liquid surface tension and 𝑟𝑚𝑎𝑥 [m] as the maximum pore radius. It must be stated that 

many membrane types do not have cylindrical pores which can lead to an underestimate of the 

CA [83]. Servi et at. 2016 [84] suggest that the Laplace-Young equation is generally not applicable 

to membranes with lower contact angles (< 90°). Alternative LEP models have been proposed 

and are described elsewhere [83–85]. Schneider et al. 1988 [86] recommend a minimal LEP of 

2.5 bar (pure water, no surfactants in the feed) to ensure process stability but it is important to 

notice that the structure and the morphology of the membrane (e.g. pore size distribution, pore 

shape, surface roughness and heterogeneity) as well as the operating conditions (high 

temperatures) and the feed composition (liquids with low surface tension) can require a 

considerably higher LEP [87,88].  

 

2.2.2 Morphological Properties 

The general dependency of the permeate flux 𝐽 on pore size, porosity, membrane thickness and 

tortuosity can be expressed as [89]: 

 

 𝐽 ∝
𝑟𝑛휀

𝜏𝛿
 (2) 

 

where 𝑟 represents the mean pore radius [m], 휀 the porosity [-], 𝜏 the tortuosity [-], 𝛿 the membrane 

thickness [m] and 𝑛 the mass transfer mechanism (n = 0 for pure molecular diffusion, 𝑛 = 1 for 

pure Knudsen diffusion, 𝑛 = 2 for pure viscous flow). It is obvious that the pore size and porosity 

is proportional and the membrane thickness and tortuosity inverse proportional to the permeate 

flux of the membrane. The pore size determines the mechanisms that govern the mass transport 

while affecting the selectivity of the membrane. Large pore sizes favor high permeate fluxes but 

are more likely to be affected by pore wetting. This is the reason why a compromise must be found 

regarding an ideal pore size that facilitates high mass transfer rates while offering an acceptable 

risk of wetting [61,90]. Pore sizes larger 0.2 µm make molecular diffusion (DCMD) or viscous flow 

(VMD) the dominant mass transfer mechanism whereas Knudsen diffusion dominates in pores 

that are smaller than 0.2 µm as the free path length of the diffusion molecules exceeds the pore 

diameter (detailed explanation see chapter 2.5.2). Since the effect of molecular diffusion is 

constant over the pore size [91] and large pores are at a higher risk of pore wetting there is little 

incentive to use pore sizes greater than 0.5 µm [86]. The pore size distribution is also an important 
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parameter to consider while selecting a membrane since even a small share of very large pores 

can lead to the infiltration of feed into the pores and the subsequent contamination of the 

permeate. Woods et al. 2011 [92] stated that the error caused by the pore size distribution on the 

mass transport modeling is smaller than 5 % if the pore size distribution is smaller than 𝜎𝑔 < 1.2 for 

𝑑𝑝,𝑎𝑣 > 50 nm (DCMD) and VMD: 𝜎𝑔 < 1.07 for all pore sizes (VMD) with 𝜎𝑔 as the geometric 

standard deviation factor [-] and 𝑑𝑝,𝑎𝑣 as the mean pore diameter [m]. Li et al. 2016 [93] stated 

that the pore size distribution can be neglected for the mass transfer simulations for Knudsen 

numbers below 1 and membranes with narrow small size distributions. A high porosity does not 

only result in a large evaporation surface but also decreases the heat loss via conduction due to 

the better thermal insulation by the large void fraction. It must be stated that a high porosity leads 

to a reduced mechanical robustness which can partly be compensated by laminating a membrane 

on a backing structure [90]. The tortuosity is defined by the ratio of the pore length to the 

membrane thickness. There is little scientific insight on the impact of the tortuosity on the MD 

performance since this parameter is very difficult to determine [56,94]. It is generally understood 

the tortuosity should be as small as possible since the permeate flux is dependent on the distance 

the vapor molecules must travel to pass through the membrane [41]. The membrane thickness is 

another membrane property that must be optimized regarding other membrane parameters such 

as the thermal conductivity. Just like the tortuosity the membrane thickness defines the distance 

the vapor molecules must travel therefore affecting the overall mass transfer resistance greatly. 

Even though a thinner membrane reduces the mass transfer resistance it may also lead to a 

stronger temperature polarization and consequently to a loss of driving force [41]. This means the 

optimal thickness of a membrane should always be defined in relation to the thermal conductivity 

of the membrane and the chosen MD configuration [55,90]. In case of multi-layer membranes (= 

asymmetric membranes, e.g. support layer plus membrane layer that defines the selectivity) the 

membrane properties should be optimized for each layer. 

 

2.2.3 Thermal Conductivity and Membrane Stability 

The thermal conductivity of membranes is often described as a function of the thermal conductivity 

of the membrane material and gas phase as well as the porosity. The void fraction serves as a 

thermal insulation. Different models are used to predict the thermal conductivity of polymeric 

membranes (the Maxwell model is the most commonly used one) and are described elsewhere 

[55,94,95]. Since the selection of the most suitable model remains uncertain [94] (especially for 

ceramic membranes [55]) and the accurate determination of the thermal conductivity is not trivial, 
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this parameter is often used as a fitting parameter in mass transfer models as well [56,96,97]. In 

general, the thermal conductivity of a MD membrane should be as low as possible [98]. The 

thermal conductivity can affect the energetic efficiency of the MD processes strongly since a high 

thermal conductivity leads to an increased heat transfer via heat conduction. High thermal 

conductivities lead to stronger temperature polarization effects which significantly reduce the 

driving force. This effect is mainly observed in DCMD configuration since the permeate side of the 

membrane system is in direct contact with the cooling liquid. In VMD, the effect of the thermal 

conductivity is considerably smaller. There is no fluid on the permeate side and the heat 

transferred is predominantly latent heat carried by the vapor [55].   

Ideally all types of MD membranes should exhibit a good thermal stability up to 100 °C [41] and a 

sufficient chemical robustness in respect to the environment they are utilized in. Some authors 

state that there is no need for MD membranes to be as mechanically robust as membranes that 

are utilized in pressure driven membranes processes [41] or do not state any requirements 

regarding the mechanical stability at all [17]. The risk of membrane degeneration due to abrasion 

and scaling processes caused by high loads of dissolved salts and forming salt crystals in the feed 

is rarely the focus of MD studies. It is important to state that the stability of asymmetric membranes 

should extend to all layers and coatings to ensure the hydrophobic characteristics of the 

membrane and a sufficient selectivity. 

 

2.3 Polymeric Membranes in Membrane Distillation 

The utilization of stretched polytetrafluoroethylene (PTFE) or phase inverted polypropylene (PP) 

and polyvinylidene fluoride (PVDF) (typical pore size: 0.02 µm ≤ 𝑑𝑝 ≤ 1.0 µm [30]) membranes in 

MD processes is state of the art [17]. PTFE membranes are manufactured by sintering or 

stretching whereas PP membranes are generally made by stretching and thermal phase inversion 

and PVDF membranes by phase inversion [44]. These membranes were not particularly 

developed for MD processes [17] but favor them due to their hydrophobic surfaces (surface 

energy: 9.1 ∙ 10-3 N/m to 30.3 ∙ 10-3 N/m), high porosities (60 % to 90 % [ [28,41,50]) and low 

thermal conductivities (material: 0.45 W/(m K) to 0.50 W/(m K) [90]. The tortuosity of polymeric 

membranes is often assumed to be inverse to the porosity [99,100], assumed to have a value of 

2 [91,101,102] or used as an calibration factor [56,97] whereas the membrane thickness of 

polymeric MD membranes typically ranges between 20 µm and 500 µm [28,91]. Laganà et al. 

2000 [103] concluded that the optimal thickness for typical polymeric membranes utilized in DCMD 

applications ranges between 30 µm and 60 µm. Regarding membrane stability, PTFE membranes 
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(PTFE is the most tested MD membrane material [41]) exhibit a very good chemical and thermal 

stability [52] but lack mechanical strength [17,104]. The relatively high porosity of polymeric 

membranes can make them sensitive towards compaction (even at lower pressures) which can 

lead to reduced mass transfer rates [105]. Additionally, Zhang et al. 2012 [104] showed that the 

compaction of a PTFE membranes leads to a significant increase of their thermal conductivity due 

to the decrease of their porosity. To adapt the thickness or mechanical strength of polymeric 

membranes the polymeric membrane layer is usually added to a support (mostly PP [90]) [106]. 

Alternatively, a dual-layer membrane with different surface characteristics 

(hydrophilic layer + hydrophobic layer) can be used. In this case the hydrophobic layer should be 

as thin as possible [52]. However, Adnan et al. [106] found that the addition of a support can lead 

to a decline of permeate flux of up to 56 %. PVDF and PP membranes are characterized by a 

lower chemical and thermal stability than PTFE membranes but are not as complicated and 

expensive to manufacture [54,107]. In summary, polymeric membranes can be quite sensitivity 

toward aggressive chemicals (PVDF, PP), high temperatures (PP) and oxidizing agents (PVDF, 

PP) which restricts the way the membranes can be cleaned and regenerated and types of 

chemical that can be used for the pretreatment to prevent scaling or biological growth altogether 

[34]. PTFE which is generally very robust regarding aggressive chemicals and high temperatures 

can degenerate quickly due to mechanical forces, such as salt crystals causing abrasion or 

compaction. In respect to the environment they are applied to these membranes might not be 

suited for long-term operation [51]. Polymeric membranes typically come in a flat or a tubular 

shape. These membrane types must be integrated into a housing called module to facilitate the 

evaporation process and collect the permeate [30]. Commonly used are plate and frame (= flat 

sheet), spiral wound and hollow fiber modules. In a plate and frame module (Figure 5a), flat sheet 

membranes and spacers are layered together between plates. These modules are often used for 

lab-scale MD experiments since they are easy to clean and to replace. The disadvantage of flat-

sheet modules is that a support structure for the membrane is needed and only low packing 

densities (= ratio of membrane area to packing volume) are achieved [61]. In a spiral wound 

module (Figure 5b) flat sheet membranes and spacers are wrapped around a perforated collection 

tube. The feed solution flows across the membrane surface (in an axial direction) while the 

permeate moves radially to the center and drains through the holes of the collection tube. Spiral 

wounds modules benefit from a high packing density and an acceptable energy consumption [61]. 

In a hollow fiber module (Figure 5c) thousands of hollow fibers are packed together and sealed 

inside of a tube. Typically, the feed solution is run through the inner lumen of the fibers while the 

permeate is collected on the outside of the fibers or vice versa [44]. The advantages of hollow 
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fiber modules are the high packing density. The disadvantages of polymeric hollow fiber modules 

are difficult to clean and maintain while being prone to fouling processes [61].  

 

Figure 5: Schematic depiction of a plate and frame module in cross-flow mode (a) [30], the flow regime inside a spiral 
wound module (b) [108] and a hollow fiber module in cross flow mode (c) [30]  

 

2.4 Ceramic Membranes in Membrane Distillation 

Ceramic membranes have rarely been investigated in MD processes due to their hydrophilic 

surface characteristics [109] and relatively high manufacturing costs [76,110]. Generally, ceramic 

membranes exhibit superb chemical, mechanical and thermal stability and can withstand 

environments that are too aggressive for polymeric membranes [110–113]. They are more 

resistant against biological activity and can be cleaned with high concentrations of aggressive 

chemicals and at high temperatures and high pressures [76,114,115]. This can ensure a life-span 

that is hardly achieved by polymeric membranes [51]. The study of Guerra and Pelligrino 2013 

[116] suggest that if the potential lifespan of ceramic membranes is considered they can be 

economically competitive to polymeric membranes. Ceramic membranes made from metal oxide 

materials such as alumina, titania and zirconia are most commonly used in MD processes 

(predominantly alumina membranes) [51] while mixed oxides and non-oxide materials such as 

silicon carbide, silicon nitride, sialon and cordierite are rarely used or have not been studied at all 

[36,51,55,117]. Ceramic membranes are mostly asymmetrically structured and composed of a 

mechanical support, several intermediate and a final membrane layer. The macro-porous support 

secures the mechanical stability of the membrane. The consecutively coating with the intermediate 

membrane layers reduces the pore size of the overall membrane with each coating step until a 

thin layer of a final (= ‘active membrane layer’) membrane can be applied (the smaller the final 

pore size the more intermediate layers are required) that defines the selectivity of the membrane 
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[113]. The thickness of each intermediate and the final layer can vary between 10 µm to 20 µm 

where the support is a few mm wide [76]. If the final membrane layer were coated onto the support 

directly the slurry would infiltrate the large pores of the support completely and cause pore 

blocking. Figure 6 shows the cross-sectional image of an asymmetrically structured Al2O3 

membrane with a final pore size of 400 nm.  

 

 

Figure 6: Cross-sectional SEM image of an asymmetrically structured tubular Al2O3 membrane with a final pore size of 

400 nm [55] 

 

The shape of ceramic membranes is decided by the form of the support which is a tube or a flat 

sheet. The supports are made by extrusion (tubular) or tape casting (flat sheet) and a subsequent 

sintering process whereas the intermediate membrane layers are made by a slurry coating and 

sintering process [113]. Tai et al. 2020 [51] give a good overview on the different manufacturing 

processes needed to make ceramic membranes. The planar shaped membranes (rectangular 

sheets or disks) are commonly used in Lab-scale MD test beds because the membrane surface 

can be inspected easily. Planar membranes are assembled within a plate and frame module. A 

plate and frame module uses different rows of flat sheet membranes creating a multi-layer 

structure. One unit consists of a support plate, a membrane sheet and feed and permeate spacers. 

A membrane sheet connected to a permeate spacer is bent over the support plate forming an 

envelope open to the feed at both sides. The corners of the membranes are sealed to the support. 
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A multitude of these units are called cassettes. The stacked together cassettes make up the plate 

and frame module membrane module. Plate and frame modules are easy to clean and allow the 

uncomplicated maintenance or replacement of specific units but only enable low packing densities 

between 30 m²/m³ to 500 m²/m³ [76,110]. Tubular ceramic membranes can be single channel 

tubes, combine single channels with small diameters within a bundle (e. g. hollow fibers and 

capillaries) or possess multiple channels (multichannel tubes or honeycomb elements (Figure 7a 

and Figure 7b).  

 

 

Figure 7: Schematic representations of the cross-section of different ceramic (single and multichannel) tubes (a) [113],  
cross section of a multichannel membrane element (b)  

 

If the membrane layers are coated into the lumen of the tubular support the feed will be run through 

the lumen and the permeate will be collected on the outside of the tube (= ‘inside out’ configuration, 

Figure 7b). If the supports are coated with the membrane layers on the outside the feed will be 

run along the outside and the permeate collected inside the lumen of the tube (‘outside in’ 

configuration) [51]. Typically, a hollow fiber module (Figure 8c) consists of hundreds or thousands 

of hollow fibers with diameter smaller or equal to 0.5 mm while the capillaries in a capillary bundle 

module have a diameter between 0.5 mm and 5 mm [51,76]. The fibers are glued with a resin into 

the module enabling dead end or cross flow mode. The benefit of a hollow fiber module is the high 

packing density of up to 9000 m²/m³ and the relative ease of cleaning and replacing of single fibers 

[76,110]. The main drawback of ceramic hollow fiber modules is the fragility of the single fibers 

[76]. Tubular modules (Figure 8a and Figure 7b) are created out of single channel or multichannel 

tubes which come in different shapes, sizes and with a different number of channels (e. g. up to 

163 channels). The specific design and number of channels define the packing density that range 

from  30 m²/m³ to 250 m2/m³ for single channel tube modules, 130 m²/m³ to 400 m²/m³ for 
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multichannel modules (Figure 8b) and up to 800 m²/m³ for honeycomb multichannel modules 

[118]. 

 

 

Figure 8: Multichannel Tubes (Fraunhofer IKTS 2020) (a), Multichannel Tube Module (Fraunhofer IKTS 2020) (b), 
Hollow Fiber Module without Housing (Fraunhofer IKTS 2020) (c) 

 

Most studies with the focus on ceramic membranes use membranes with pore sizes in the range 

of 0.15 µm to 0.32 µm and porosities from 25 % to 50 % [36]. The tortuosity of ceramic membranes 

ranges from 1.5 to 5 and is often correlated with the porosity [76]. The thermal conductivity of 

ceramic membranes is considerably higher than the values for polymeric membranes. That is 

because the thermal conductivities for inorganic materials used for ceramic membranes  

(e. g. Al2O3: 15 W/(m k) to 30 W/(m K) and cordierite: 1.2 W/(m K) to 2.5 W/(m K) [55,119]) are 

significantly higher than the material values for polymeric materials (Chapter 2.3) and the 

porosities of the membranes are significantly lower. Schnittger et al. 2020 [55] reported thermal 

conductivities for ceramic single channel membranes (Al2O3, TiO2, mixed oxides and cordierite) in 

the range from 0.5 W/(m K) to 1.6 W/(m K) and showed that the thermal conductivity is mainly 

depended on the support properties. As illustrated in Figure 9a, the ceramic membranes most 

widely used in MD processes are made from Al2O3. It can also be seen that tubular membrane 

types/modules (mostly single channel tubes) are widely utilized in MD processes and VMD is the 

most often studied MD configuration (Figure 9b and Figure 9c) [36]. 
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Figure 9: Material of ceramic membranes used in MD processes (a), ceramic membranes and membrane modules used 

in MD processes (b) and configuration studied using ceramic membranes (c), (adapted from [36]) 

 

It can be assumed this is based on the experience research institutes and manufactures of 

ceramic membranes have obtained on a specific material and the fact that single channel tubes 

are ideal for membrane prototype production. Ceramic membranes are mostly studied in VMD 

followed by AGMD because these configurations limit the effects of the relatively high thermal 

conductivities of ceramic membranes due to the thermal insulation.  

 

2.4.1 Surface Modification of Ceramic Membranes 

As stated before, most ceramic membranes have pronounced hydrophilic surface properties 

caused by the presence of hydroxyl groups (an exception is for instance silicium carbid which can 

be hydrophobic or hydrophilic in respect of the carbon at the surface) on the metal-oxide surfaces 

[34,120]. However, the surface characteristics of ceramic membranes can be rendered 

hydrophobic through surface modification processes. One method of surface modification in favor 

of hydrophobic characteristics is the creation of rough surfaces (e. g. through plasma etching and 

nanotexturing, solidification of melted alkyl ketene dimer, microwave plasma‐enhanced chemical 

vapor deposition, anodic oxidization of aluminum and soaking of porous alumina‐gel films in 

boiling water) [109]. The vast majority of studies reported grafting as the method that was used to 

modify the surface of ceramic membranes [36]. Grafting refers to the attachment of hydrophobic 

molecules via hydrogen, ionic, van der Waals or covalent bonds (typically silanes [74], Figure 10) 

onto the surface of membranes [121] reducing the free surface energy [82]. A silane is a molecule 

composed of one Si atom and four functional groups (SiX4). Organosilanes are the group of silanes 

predominantly used for the surface modification due to the simple and short modification 
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procedure. They refer to compounds that contain at least one carbon-silicon bond which acts as 

an organic functional group and a hydrolysable functional group such as ethoxy, methoxy or 

chlorine [82,122–126] (Figure 10a). The organosilane is activated via hydrolysis to yield a reactive 

silanol species. The reactive substituents (halogen and alkoxy groups) are transformed into 

hydroxy (OH) groups (Figure 10b). Subsequently the ceramics are immersed in the activated 

silane solution which causes the reactive silane molecules to be chemisorbed to the ceramic 

surface via a condensation reaction. The excess Si-OH groups of the chemisorbed silane can 

form links with the other silane molecules through Si-O-Si bonds forming a polymeric siloxane 

network on the membrane surface [37,74,82,125–127]. This layer (containing non-polar organic 

functional groups such as –CH3, –CH2–CH3, and –(CF2)5–CF3) causes a significant reduction in 

the free surface energy resulting in hydrophobic surface characteristics [37]. The hydrophobic 

surface is chemically and mechanically relatively stable due to the strong immobilization of the 

molecules on the surface, resulting from chemical bonding and the presence of intermolecular 

attraction forces [74,82]. The effectiveness of the modification is strongly affected by the 

concentration of the silane agent and the length of the hydrophobic chain, the amount of hydroxyl 

groups on the surface, the membrane surface roughness and the grafting time and grafting 

temperature [36,82]. Beside the immersion method that is applied the most, chemical vapor 

deposition (CVD) and the sol-gel method are also used in the grafting process and are described 

in detail by Ahmed et al. 2015 [82]. From the group of organosilanes, chloroalkylsilanes, 

fluoroalkylsilanes, hexadecyltrimethoxysilane, and polydimethylsiloxane have been used 

successfully in grafting processes [36]. Fluoroalkylsilanes (FAS) are the most widely used 

modification agents [51,55,109,121,128–134] and from the FAS group, mainly 1H,1H,2H,2H-

perfluorooctyltriethoxysilane and 1H,1H,2H,2H-perfluorodecyltriethoxysilane have been studied 

[120]. For instance, Schondelmaier et al. 2002 [135] gave insight into the orientation and self-

assembly of FAS while Kujawa et al. 2014 [131] showed that the length of the FAS molecule has 

a significant impact on the extent of the hydrophobic surface characteristics of modified TiO2 

membranes. Kujawa et al. 2016 [109] determined the size of the hydrophobic chains of PFAS 

molecules in the range of 1.5 nm to 2.2 nm and showed they do not cause a considerable blocking 

of macro pores. The use of non-fluorinated grafting agents has also been promoted since FAS 

are considered to be toxic [136] and expensive [51,137]. Fluorine-free compounds such as 

nonfluorinated alkyl silanes [137,138], polydimethylsiloxane (PDMS) [139] or carbon nanotubes 

(CNTs) have also been investigated [140] [51].  
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Figure 10: Schematic overview of the grafting process using two different molecules for the surface modification of 
tubular ceramic membranes  

 

2.5 Heat and Mass Transfer 

In all MD configurations, heat and mass transport through the pores take place simultaneously. 

Theoretical MD models describe the mass and heat flux in respect to the membrane 

characteristics, MD configurations and temperature and concentration polarization phenomena 

and are based on the Kinetic Theory of Gases [39]. The transport process can be separated into 

three different stages, the vapor generation (feed-side, stage 1), the separation/transportation 

(membrane, stage 2) and the condensation of the water vapor (permeate-side, stage 3) [90]. 

Generally, the permeate flux in MD through a porous medium can be described by the following 

equation [28,56]: 

 

 𝐽 = 𝐵𝑚∆𝑝𝑚 = 𝐵𝑚(𝑝𝑓,𝑚 − 𝑝𝑝,𝑚) (3) 

 

with 𝐵𝑚 as the mass transfer coefficient [kg/(m² h Pa)] that is mainly defined by the membrane 

characteristics and 𝑃𝑓,𝑚 and  𝑃𝑝,𝑚 as the respective water vapor partial pressures [Pa] at the 

membrane interfaces on the feed- and permeate-side accounting for the driving force in 
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consideration of temperature and concentration polarization [90]. While DCMD is the most 

researched MD configuration [30] VMD offers the most benefits for the use of ceramic membranes 

in MD processes. Therefore, theoretical considerations such as the heat and mass transfer as 

well as experimental MD investigations were limited to these two configurations. 

 

2.5.1 Driving Force in Consideration of Temperature and Concentration 

Polarization  

In general, the area in which temperature and concentration polarization occurs is being referred 

to as the temperature or concentration polarization boundary layer (Figure 11) [89,141]. 

Temperature polarization has a greater impact on the mass transfer then concentration 

polarization. Both polarization effects can partly be compensated by generating a turbulent flow 

regime [44,90].  

 

 

Figure 11: Temperature and Concentration Polarization Profile in DCMD cf,b: bulk stream solute concentration, Cf,m: 
interfacial solute concentration, Tf,b: Temperature of the bulk stream on the feed-side, Tp,b: Temperature of the bulk 
stream on the permeate-side) 

 

Temperature polarization refers to a heat gradient between the interfaces of the membrane and 

the corresponding bulk streams [142]. Temperature polarization is caused by two heat transfer 
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processes. Firstly, heat is transported across the membrane matrix (𝑄𝑐) through heat conduction 

which can account for a significant part of the heat transport [143]. Secondly, heat is transported 

from the feed to the permeate-side due to the evaporation process and the vapor transferred (𝑄𝑣). 

The total heat 𝑄𝑡 that is transported through the membrane in DCMD can be described in steady 

state as follows [39]: 

 

 𝑄𝑡 = 𝑄𝑣 + 𝑄𝑐 = 𝐽∆𝐻𝑣 +
𝑘𝑚

𝛿
(𝑇𝑚,𝑓 − 𝑇𝑚,𝑝) (4) 

 

with ∆𝐻𝑣 as is the enthalpy of vaporization of water [J/mol] and 𝑘𝑚 as the thermal conductivity of 

the membrane [W/(m K)]. The enthalpy of vaporization can be expressed as follows [144]: 

 

 ∆𝐻𝑣 =  1.91846 ∙ 106 (
𝑇

𝑇 − 33.91
)

2

 (5) 

 

with T as the feed temperature [K]. The energy efficiency (𝐸𝐸, also referred to as thermal 

efficiency) [-] of a single MD process at lab-scale is defined as the ratio of the vaporization heat 

associated with the vapor transport through the membrane pores over the total heat flux (𝑄𝑐 + 𝑄𝑣) 

[17,39]: 

 

 𝐸𝐸 =
𝑄𝑣

𝑄𝑡
 (6) 

 

The interfacial temperatures can only be measured with great effort and are commonly determined 

via empirical relationships regarding the liquid characteristics and the flow regime (Eq. 7 and 8), 

the thermal conductivity and thickness of the membrane and the heat of vaporization of water 

[41,90]. The temperature on the membrane interface (𝑇𝑚) in consideration of the temperature 

polarization can be calculated for the feed and permeate side in DCMD as follows [145]:  
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 𝑇𝑚,𝑓 =

𝑘𝑚
𝛿

(𝑇𝑏,𝑝 +
ℎ𝑓

ℎ𝑝
𝑇𝑏,𝑓) + ℎ𝑓𝑇𝑏,𝑓 − 𝐽∆𝐻𝑣

𝑘𝑚
𝛿

+ ℎ𝑓(1 +
𝑘𝑚
𝛿ℎ𝑝

)
 (7) 

 

 𝑇𝑚,𝑝 =

𝑘𝑚
𝛿

(𝑇𝑏,𝑓 +
ℎ𝑝

ℎ𝑓
𝑇𝑏,𝑝) + ℎ𝑓𝑇𝑏,𝑝 + 𝐽∆𝐻𝑣

𝑘𝑚
𝛿

+ ℎ𝑝(1 +
𝑘𝑚
𝛿ℎ𝑓

)
 (8) 

 

with ℎ𝑓 und ℎ𝑝 as the heat transfer coefficients [J/(m² s K)] on the feed and permeate side 

respectively and 𝑇𝑏,𝑓 and 𝑇𝑏,𝑝 as the temperature of the bulk feed and cooling solution [K] on the 

respective membrane side. Due to the thermal insulation caused by the vacuum and the external 

condensation of the vapor, temperature polarization is typically only located at the feed-side in 

VMD processes and the heat transfer via conduction is neglected [90]:  

 

 𝑇𝑚,𝑓 = 𝑇𝑚,𝑏 −
𝐽∆𝐻𝑣

ℎ𝑓
 (9) 

 

The heat transfer coefficients of the feed and the permeate side can be determined via the 

following equation [146]: 

 

 ℎ𝑓,𝑝 =
𝑁𝑢𝑓,𝑝𝑘𝑓,𝑝

𝑑ℎ(𝑓,𝑝)
 (10) 

 

with 𝑁𝑢 as the Nusselt number [-], 𝑘𝑓,𝑝 as the thermal conductivity of the feed and coolant solution 

[W (m K)] and 𝑑𝑓,𝑝 as the hydraulic diameter [m] on the feed and permeate side, respectively. The 

Nusselt number describes the convective to conductive heat transfer ratio and can be calculated 

as a function of the Reynolds [-] and Prandtl number [-] that characterize the fluid flow regime 

[90,146]:  
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 𝑅𝑒𝑓,𝑝 =  
𝜌𝑓,𝑝𝑣𝑓,𝑝𝑑ℎ(𝑓,𝑝)

𝜂𝑓,𝑝
 (11) 

 

 Pr𝑓,𝑝 =  
𝐶𝑃(𝑓,𝑝)𝜂𝑓,𝑝

𝑘𝑓,𝑝
 (12) 

 

with 𝜌 as the density [kg/m³], 𝑣 as the flow velocity [m/s], 𝜂 as the dynamic viscosity [Pa s] and 𝐶𝑃 

as the heat capacity [kJ/(kg K)] of the respective solution. The density of the feed and coolant 

stream can be calculated as follows [147]: 

 

 
𝜌𝑓,𝑝 =  750.2834 + 26.78𝑐 − 0.26389𝑐2 + (1.90165 − 0.11734𝑐 + 0.00175𝑐2)𝑇

+ (−0.003604 + 0.0001701𝑐 − 0.00000261𝑐2)𝑇2 
(13) 

 

with c as the salinity [wt.%] and T the temperature [K] of the respective stream. Having determined 

𝑅𝑒 and Pr the right semi-empirical correlation for the Nusselt number can be chosen [90,148,149]: 

 

 

 laminar:                                        𝑁𝑢 =  0.298 𝑅𝑒0.646 𝑃𝑟0.316 (14) 

 

 turbulent:                                      𝑁𝑢 =  0.036 𝑅𝑒0.96 𝑃𝑟0.33 0.33
𝑑ℎ

𝐿

0.055
 (15) 

 

with 𝑑ℎ as the hydraulic diameter [m] and 𝐿 as the length of the membrane tube. Concentration 

polarization refers to an increased concentration of solutes at the membrane interface on the feed-

side due to the evaporation and transfer of pure water [44]. The elevated solute concentration 

imposes a negative impact to the mass transfer due to the limited water and heat transport by the 

slow diffusion process and by lowering the partial vapor pressure which leads to a driving force 

reduction. Concentration polarization effects can be neglected for the permeate side in all MD 

configurations (in DCMD, usually pure water acts as cooling liquid) [90]. The concentration on the 

membrane interface 𝑐𝑚,𝑓 [mol] on the feed side can be calculated in consideration of concentration 

polarization as follows [39]:  
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 𝑐𝑚,𝑓 = 𝑐𝑓,𝑏exp (
𝐽

𝐾𝑓𝜌𝑏,𝑓
) (16) 

 

with 𝑐𝑓,𝑏 as the concentration of the bulk feed solution [mol], 𝐾𝑓 as mass transfer coefficient 

[kg/(m² s Pa)] on the feed side and 𝜌𝑏,𝑓 as the density of the bulk feed solution. The mass transfer 

coefficient on the feed side can be determined using this equation [146]: 

 

 𝐾𝑓 =
𝑆ℎ𝑓 𝐷𝑓

𝑑ℎ,𝑓
 (17) 

 

with 𝑆ℎ𝑓 as the Sherwood number (convective to diffusional mass transfer ratio [90]) [-] and 𝐷𝑓 as 

the bulk feed diffusion coefficient [m²/s] that can be approximated as follows [150]:  

 

 𝐷𝑓 =
𝑘𝐵𝑇

6𝜂𝜋𝑟𝑁𝑎𝐶𝑙
 (18) 

 

with 𝑘𝐵 as the Boltzmann constant [m² kg/(s² K)] and 𝑟𝑁𝑎𝐶𝑙 as the hydrodynamic radius of the 

diffusing NaCl molecule [150,151]. To calculate the Sherwood number the following equation can 

be used [90]: 

 

 𝑆ℎ𝑓 =  𝛼𝑅𝑒𝑓
𝛽

𝑆𝑐𝑓
𝛾
 (19) 

 

with 𝑆ℎ𝑓 as the Schmidt number (provides the ratio of momentum diffusivity to mass diffusivity)  

[-] and 𝛼, 𝛽, and 𝛾 are experimentally determined coefficients for a specific module design and 

fluid velocity. Johnson and Nguyen 2017 give an overview of different values of 𝛼, 𝛽, and 𝛾 in 

relation to the specific flow type [90]. The Schmidt number [-] can be calculated as [146]: 

  

 𝑆𝑐𝑓 =  
𝜂𝑓

𝜌𝑓 𝐷𝑓
 (20) 
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If the interfacial feed concentration 𝑐𝑚,𝑓 and the temperatures on the interface of the membrane 

on the feed and permeate side 𝑇𝑚,𝑓 and 𝑇𝑚,𝑝 are known the actual driving force for the MD process 

can be calculated. For this, the partial pressure of water vapor 𝑝0(𝑓,𝑝) must be calculated based 

on the calculated interfacial temperatures and the Antoine Equation [152]: 

 

 𝑝0(𝑓,𝑝) = exp (23.5377 −
4016.3632

𝑇𝑚 − 38.6339
) (21) 

 

In DCMD, 𝑝0(𝑝) is considered to be equal to 𝑝𝑝,𝑚 due to the coolant liquid being free of dissolved 

salts while the water activity 𝑎𝑤,𝑓 of the feed solution at the membrane interface (consideration of 

concentration polarization effect) can be used to determine the actual partial pressure of the water 

vapor at the interface of the membrane on the feed side [152]: 

 

 𝑝𝑓,𝑚 = 𝑝0(𝑓)𝑎𝑤,𝑓 (22) 

 

The water activity can be calculated based on the NaCl molality 𝑥 [mol/kg]) using the following 

correlation [153]: 

 

 𝑎𝑤,𝑓 = 1 − 0.03112𝑥𝑚,𝑓 − 0.001482𝑥𝑚,𝑓
2  (23) 

 

 

2.5.2 Mass Transfer and Mass Transfer Resistance  

In addition to the driving force the mass transfer mechanisms for the vapor molecules inside 

membrane pores must be determined to model the mass flow. The most commonly models used 

to describe the resistance to vapor transport through a porous membrane regarding to molecular 

diffusion, Knudsen diffusion and viscous flow (also referred to as Poiseuille flow) are the so-called 

Schofield model and Dusty-Gas Model (DGM). Both models are based on the kinetic theory of gas 

[102,142,146,152,154,155]. Both models consider the morphological properties such as pore size, 

porosity and tortuosity but do not include the pore size distribution. However, it was concluded 

that the effect of the pore size distribution on the mass transfer can be neglected for membranes 
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with a relatively narrow pore size distribution [101,145]. Although both models have proven to 

show good results the use of the DGM has been recommended. It is considered to be more correct 

from a physical point of view and offers a more simple approach to determine morphological 

properties using data from gas permeance tests [152]. The disadvantage of the DGM is that it was 

derived for isothermal fluxes while the MD process is a non-isothermal process. However, it was 

shown that an average temperature can be used successfully within the DGM [44,89,156]. In the 

most general form (accounting for molecular diffusion, Knudsen diffusion and viscous flow) the 

mass transport in MD can be expressed as [89]: 

 

 
𝐽𝑖

𝐷

𝐷𝑖𝑒
𝐾 = ∑

𝑝𝑗𝐽𝑖
𝐷 − 𝑝𝑖𝐽𝑗

𝐷

𝐷𝑖𝑗,𝑒
𝑀

𝑛

𝑗=1≠𝑖

=
−1

𝑅𝑇
∇𝑝𝑖 (24) 

 

 𝐽𝑖 = 𝐽𝑖
𝐷 + 𝐽𝑖

𝑉 (25) 

 

 𝐽𝑖
𝑉 =

−𝑝𝑖
휀𝑟2

8𝜏
𝑅𝑇𝜂

∇p (26) 

 

 𝐷𝑖𝑗,𝑒
𝑀 =

휀

𝜏
𝑝𝐷𝑖𝑗 (27) 

 

 𝐷𝑖𝑒
𝐾 =

2휀𝑟

3𝜏
√

8𝑅𝑇

𝜋𝑀𝑖
 (28) 

 

with 𝐽𝑖
𝐷, 𝐽𝑖

𝑉and 𝐽𝑖 are the diffusive, viscous and total fluxes of the component 𝑖, 𝑝 and 𝜂 are the total 

pressure [Pa] and dynamic viscosity [Pa s] of the mixture and 𝑝𝑖 is the partial pressure of the 

component 𝑖 [Pa], respectively. 𝐷𝑖𝑗,𝑒
𝑀 , 𝐷𝑖𝑒

𝐾  represent the effective molecular and Knudsen diffusion 

coefficients, 𝑅 is the universal gas constant [J/(mol K)] and 𝑀𝑖 is the molar weight of component 

𝑖 [kg/mol]. Surface diffusion has generally been neglected in MD modeling due to the high 

porosities of (polymeric) MD membranes [89] and the little affinity of water molecules to the 

hydrophobic surfaces [41]. Which of the aforementioned transport mechanisms is dominating 

inside the membrane pores is dependent on the pore size of the membrane, the mean free path 
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of the molecules transported and the presence of air in the pores [29]. Molecular diffusion is 

dominant when the probability of vapor molecule – air molecule collisions is greater than the 

probability of molecule – pore wall collisions whereas Knudsen diffusion is dominant if vapor 

molecule – pore wall collisions are more likely [41]. Viscous flow describes the convective 

transport of vapor molecules through the membrane and is relevant for larger membrane pores 

that are void of air molecules (for instance by applying a vacuum to the permeate side of the 

membrane as in VMD mode) [90]. The actual operative vapor transfer mechanism through a given 

membrane pore is determined by the Knudsen number 𝐾𝑛 which is defined as [41]: 

 

 𝐾𝑛 =  
𝜆𝑣,𝑎

𝑑𝑝
 (29) 

 

where 𝑑𝑝 is the average pore diameter of the membrane [m] and 𝜆𝑣,𝑎 the mean free path of a 

water vapor molecule in air [m] at a given temperature and pressure [146,157]. 

 

 𝜆𝑣,𝑎 =  
𝐾𝐵𝑇

√2𝜋𝑝𝜎𝑣
2
 (30) 

 

with 𝜎𝑣 as the collision diameter for water vapor [m] and 𝑇 and 𝑝 as the temperature [K] and 

pressure [Pa] inside the pores of the membrane respectively. [39]. For instance, 𝜆𝑣,𝑎 is 0.11 µm at 

60 °C and at atmospheric pressure [158]. A Knudsen number smaller or equal to 0.01 indicates 

that solely molecular diffusion is governing the mass transfer whereas a Knudsen number greater 

or equal to 10 indicates that only Knudsen diffusion is taking place in the pores [41]. Pore sizes of 

MD membranes often range from 0.1 µm to 0.45 µm. Thus, typical Knudsen numbers are in the 

range of 0.2 to 1.0 which suggests a superposition of Knudsen and molecular diffusion for most 

MD membranes [90]. Based on Eq. 22 to Eq. 25 a combined Knudsen and molecular diffusion 

model can be used to quantify the vapor flux in DCMD [39,41,89,154]: 

 

 𝐵𝑚
𝐾+𝑀 = (

1

𝐵𝑚
𝐾 +

1

𝐵𝑚
𝑀) =

1

𝑅𝑇𝛿
[

𝜏

휀𝑑𝑝
(

9𝜋𝑀𝑊

8𝑅𝑇
)

1
2

+
𝑝𝑎𝑖𝑟,𝑎𝑣𝜏

휀𝑝𝐷𝑣
]

−1

 (31) 
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with 𝐵𝑚
𝐾  and 𝐵𝑚

𝑀describing the mass transport resistance in regard to Knudsen diffusion and 

molecular diffusion respectively [kg/(m² h Pa)], 𝑇 as the average temperature inside the pores, 

𝑀𝑊 the molecular weight of water [kg/mol], 𝑝𝑎𝑖𝑟,𝑎𝑣 the average air pressure in the membrane pores 

[Pa], 𝑝 the total pressure [Pa] and 𝐷𝑣 the diffusion coefficient of water vapor in air [m2/s]. For water 

vapor in air, 𝑝𝐷𝑣 (temperature range: 273 – 373 K) can be expressed as [159]: 

 

 𝑝𝐷𝑣 = 1.895 × 10−5𝑇2.072 (32) 

 

The following equation can be used to describe the mass transfer resistance of water vapor in 

VMD in consideration of a superposition of Knudsen diffusion and viscous flow [39,41,42,160]: 

 

 𝐵𝑚
𝐾+𝑉 = (

1

𝐵𝑚
𝐾 +

1

𝐵𝑚
𝑉 ) =

휀𝑑𝑝

𝑅𝑇𝜏𝛿
((

8𝑅𝑇

9𝜋𝑀𝑊
)

1
2

+
𝑑𝑝𝑝𝑎𝑣

25𝜂𝑣
) (33) 

 

where 𝜂𝑣 is the viscosity of water vapor [Pa s] and 𝑝𝑎𝑣 the average pressure inside the pores [Pa]. 

The viscosity of water vapor can be calculated as follows [161]: 

 

 𝜂𝑣 = 𝜂0 +
𝑇0 + 𝑇𝑆

𝑇 + 𝑇𝑆
(

𝑇

𝑇0
)

3
2
 (34) 

 

with T as the temperature of the water vapor [K], 𝑇0, as the zero point for water vapor (=  373 𝐾), 

𝑇𝑆 𝑎𝑠 𝑡ℎ𝑒 Sutherland constant (=  890 𝐾) and 𝜂0 as the dynamic viscosity of water vapor at  

𝑇0 (=  1.23 ∙    Pa s). If the operational pressure on the permeate side is below the vapor pressure 

of the water vapor only traces of air are present in the pores and molecular diffusion can be 

neglected [160]. 

 

2.6 The Impact of Process Parameters 

The performance of a MD process is determined by the system design, membrane characteristics 

and the process parameters. Whereas the membrane facilitates the selective gas transport from 
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the feed to the permeate side (affected by the mass transfer resistance imposed by the properties 

of the membrane) the process parameters mainly define the magnitude of the driving force that 

enables the phase change and mass transport but also determine the properties a membrane 

should exhibit. For instance, the feed temperature at the membrane surface (consideration of 

temperature polarization) and the absolute pressure applied to the permeate side will define a 

theoretical driving force for the mass transfer across the membrane. However, the feed 

composition can reduce the driving force significantly (high concentrations of salts) and decrease 

the selectivity of the membrane greatly (presence of organic substances lowering the surface 

tension of the feed). Insight into the impact of process parameters is imperative to an efficient 

system design, choosing the right membrane and process control. In the following sections an 

overview of the relevant process parameters such as fluid temperatures and flow velocities, feed 

concentration and absolute pressure applied and their impact on process performance in DCMD 

and VMD is given. 

 

2.6.1 Feed Temperature, Experimental Set-Up and Cooling of the Permeate Side  

There is an exponential correlation between the partial water vapor pressure and the feed 

temperature as described by the Antoine Equation (Eq. 21). This means that increasing feed 

temperatures (at the same coolant temperature or absolute pressure) should lead to the 

exponential increase of the driving force and permeate flux [152]. Some authors argue that the 

increased permeate flux due to higher feed temperatures is also caused by better diffusion 

coefficients [162–165] and reduced temperature polarization effects (due to a change of the 

hydrodynamic conditions such as the viscosity) [95,166]. It is also argued that high feed 

temperatures lead to disproportionate temperature polarization effects that partly compensate for 

the positive effects of elevated feed temperatures and dampening the exponential relationship 

between the feed temperature and the driving force [91]. Furthermore, an increasing feed 

temperature lowers the surface tension of the feed solution which results in lower LEP values. 

This can increase the risk of membrane wetting throughout the MD process significantly [167]. 

Therefore, for any given membrane type the highest (ideal) feed temperature should be 

experimentally determined (regarding the LEP and energy efficiency) instead of choosing the 

highest temperature the system setup allows. The partial water vapor pressure gradient across 

the membrane at any given feed temperature can be increased by reducing the coolant stream 

temperature in DCMD [90]. Due to the very nature of the exponential correlation (the lower the 

temperature the smaller the effect) between the liquid temperature and the partial pressure of 

water vapor it is advised to balance the increasing energy intake necessary to allow lower coolant 
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temperatures with the increase of the driving force. The condenser temperature in VMD should 

be chosen to allow the condensation of all water vapor at the given feed temperature and permeate 

pressure in consideration of the theoretical driving force, the distance between the membrane 

module and the condenser and the design of the condenser. 

 

2.6.2 Absolute Pressure on the Permeate Side 

In VMD the gradient between the partial water vapor pressure on the permeate side (defined by 

the pressure applied to the permeate side) and the partial pressure of the water vapor on the feed 

side determines the driving force for the process. This means that lowering the absolute pressure 

on the permeate side at a constant feed temperature should linearly increase the permeate flux. 

Moreover, lowering permeate pressures lead to the constant removal of inert gases from the 

membrane pores, thus lowering the mass transfer resistance in VMD. In addition, the vacuum 

generates a better thermal insulation resulting in reduced temperature polarization effects [168]. 

This effect is more pronounced for lower pressures. One must keep in mind that lower absolute 

pressures on the permeate side considerably increase the risk of wetting which would substantially 

decrease the permeate quality. Furthermore, the lower the absolute pressures on the permeate 

side the lower must be the condenser temperatures to facilitate condensation of the vapor 

molecules as well as the higher the increased electrical energy consumption by the vacuum pump. 

 

2.6.3 Feed Composition 

The feed composition affects the performance of the MD processes in two ways. Firstly, high 

salinity levels lead to a significant reduction of the driving force. The partial vapor pressure on the 

feed side is decreased by a lower water activity due to higher concentrations of salt ions [89,169]. 

Additionally, high salinities change the hydro-mechanic properties of the feed such as the viscosity 

and density limiting the heat transfer from the bulk feed to the interface of the membrane which 

amplifies temperature polarization effects [89,90]. The effect of concentration polarization is 

considered to be small compared to that of temperature polarization [170–172]. In DCMD, high 

salt concentrations at a low driving forces can lead to osmotic distillation and the subsequent 

dilution of the feed solution through water vapor generated at the permeate side [91,142]. 

Secondly, surfactants such as organic compounds lower the surface tension of the feed which can 

considerably increase the risk of wetting [129]. The specific feed composition can require a 



 

36 

 

pretreatment of the feed to reduce the risk of wetting and fouling (fouling is referred to the 

accumulation of deposits on the surface of a membrane).  

 

2.6.4 Feed and Coolant Flow Velocity 

The increase of the flow velocity on the feed side can lead to an increased permeate flux 

[61,165].This is caused by the reduction of temperature and concentration polarization due to the 

increased turbulence leading to a higher heat transfer coefficient (better convective heat transfer 

from the bulk feed to the interface of the membrane) and better solute mixing [50,61]. An increase 

of the permeate flow velocity increases the heat transfer on the permeate side of the membrane 

module by limiting temperature polarization which in return results in higher permeate fluxes. It 

can also be stated that this effect is limited and highly dependent on the process parameters and 

membrane characteristics [173,174]. 
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3 Material and Methods 

To assess the limitations and strength of ceramic membranes in MD processes as well as to 

facilitate membrane optimization and mass transfer modelling, the impact of relevant membrane 

properties on the performance in MD processes must be evaluated. To be able to do that, different 

membrane types (e. g. variation of material, layer design, thickness, pore size) were manufactured 

and subsequently characterized regarding their specific properties. This chapter will present the 

membrane types studied in the scope of this work, depict the experimental set-up and describe 

the characterization methods and test procedures in detail to quantify relevant membrane 

properties and to assess the membrane performance. The selection of the different membrane 

types that were manufactured and investigated for this work (e.g. what type of material, 

hydrophobic agent and pore size) was based on preliminary studies, technical experience at the 

institute and literature reviews. While common characterization methods (e.g. mercury 

porosimetry) were used to identify standard properties such as pore size and porosity (also used 

for quality control on samples) special characterization methods were used to determine 

membrane characteristics (e.g. thermal conductivity scanning) that particularly affect membrane 

performance in MD. MD tests were limited to DCMD and VMD tests because they are the most 

popular MD configurations and due to the fact that VMD offers specific benefits for ceramic 

membranes (e.g. less affected by the relatively high thermal conductivities of ceramic 

membranes). The mass transfer modelling was limited to the VMD configuration because of the 

complex wetting behavior of modified asymmetric ceramic membranes in DCMD (cooling liquid 

infiltrates the support pores) as well as the assumption that VMD is the more suited configuration 

for ceramic membranes.  

 

3.1 Membranes and Membrane Preparation 

Single channel tubular membranes (SCT) with a variety of different properties (e. g. pore size, 

layer design, wall thickness and surface modification) were made from the materials Al2O3, TiO2, 

cordierite (14 % MgO, 35 % Al2O3, and 51 % SiO2) and mixed oxide (80 % Al2O3 and 20 % ZrO2). 

The support tubes of ceramic membranes were made by extrusion and sintering whereas the 

intermediate and top layers (if applicable) were made by slurry coating and sintering. At least three 

membranes per membrane type were manufactured. The membranes were coated inside the 

channel facilitating an inside-out separation process. Beside the typical asymmetrically structured 

ceramic membranes, symmetrically structures membranes made from Al2O3 and TiO2 were 
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manufactured. These membranes have a uniform pore size over their complete cross section and 

do not require a coating process. All membrane tubes had a length of 250 mm, an outer diameter 

of 10 mm and a channel diameter between 6.5 mm and 8.5 mm. The end sections of the tubes 

are sealed up to 1.5 cm on each side with a glass cap (only asymmetrically structed single channel 

tubes) enabling the inflow of the feed inside the membrane tubes (ensure proper sealing) using 

custom-build membrane modules made from PVC or stainless steel. Symmetrically structured 

membranes were manufactured exhibiting one uniform membrane layer (one pore size over the 

whole cross section of the membrane, Figure 12). The properties of the symmetrical membranes 

were adjusted by varying the composition of the raw material, particle size and sintering 

temperature. As symmetrical membranes possess a single layer, they can be fabricated in a single 

extrusion and sintering step which makes them more cost-efficient. Symmetrical membranes do 

not need an end sealing due to their homogeneous cross section which prevents any leakage of 

the feed solution into the membrane structure if their surface is modified.  

 

 

Figure 12: Cross sectional SEM image of a symmetrical TiO2 membrane with an average pore size of 200 nm and a 
wall thickness of 0.8 mm (Fraunhofer IKTS 2020) 

 

Throughout this work the pore size that is reported for an asymmetrically structured membrane 

refers the pore size of the final layer (if not stated otherwise) whereas the pore size reported for a 

symmetrically structured ceramic membranes represents the pore size of the whole cross section 

of the membrane.  
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For the modification of the tubular ceramic membranes described above a solution containing 

1 wt.% or 2 wt.% of one of the following hydrophobic agents: 

• Fluorinated alkyl triethoxysilane (labelled ‘HOC’) 

• Fluorinated alkyl trichlorosilane (labelled ‘HOG’)  

• Non-Fluorinated n-Octyltriethoxysilane (labelled ‘HOM’) 

and (if applicable) an organic solvent with an acid catalyst was prepared. The modification was 

done by soaking the membranes in the solution and applying a vacuum. After drying, the 

membranes were thermally processed to achieve a stable hydrophobic coating. The hydrophobic 

agents HOC and HOG were chosen because they are commonly used by the Fraunhofer IKTS 

and have been successfully applied to membranes utilized in MD processes [129]. The 

hydrophobic agent HOG was chosen as a non-fluorinated alternative that showed promising 

results in preliminary contact angle measurements (Chapter 4.1.2).   

Table 5 at the end of this section displays all single channel membrane types as well as their pore 

size, porosity, thickness, layer design and modification that were manufactured, characterized, 

and tested within the scope of this thesis.  

 

3.2 Characterization of Membrane Properties 

3.2.1 Standard Characterization Methods 

Every batch of ceramic membranes developed and manufactured at the Fraunhofer IKTS 

undergoes a series of standard characterization methods for quality control. The properties are 

typically determined on samples and include the pore size distribution, porosity, mechanical 

stability (pressure resistance) and for new membrane types the crystallographic structure. The 

characterization methods used to determine those properties are listed in Table 1 and are 

described in detail elsewhere (Ref. column Table 1). MD performance affecting parameters such 

as pore size and porosity are listed in respect to the membrane type in Table 5. 
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Table 1: Overview of standard membrane characterization methods for quality control 

Characterization 

Method 

Testing in 

Accordance 
Parameter Ref. 

Mercury Porosimetry DIN ISO 15901-1 
Pore Size Distribution 

and Porosity 
[175] 

X-Ray Diffraction 

Imaging 
DIN EN 13925 

Crystallographic 

structure 
[176] 

Water Absorption ISO 18754 
Density and Open 

Porosity 
[177] 

Burst Pressure Test AAW 274 
Internal Pressure 

Resistance 
[178] 

 

 

3.2.2 Steady State Gas Permeation  

Steady state gas permeation tests using nitrogen (also referred to as N2 permeance tests) were 

used to determine the N2 permeance of all tubular membranes. Before the test, the membranes 

were dried at 120 °C in a drying cabinet for two hours and subsequently cooled to ambient 

temperature in a desiccator. The membrane tubes were installed into a stainless-steel module and 

sealed by O-rings made of Viton®. The membrane module was installed in the gas permeation 

apparatus, equipped with mass flow controllers (MKS Instruments US, model: MF1) and pressure 

transducers (MKS Instruments US, Model: 722A and 223B). The membrane was then fed with 

nitrogen (N2) in dead-end mode (retentate side closed). The tests were conducted at ambient 

temperatures. The volume flow on the feed side was set to a rate that the differential pressure 

between the feed side and the permeate side (ambient pressure) could kept constant at 

1000 mbar. The feed and permeate pressures were recorded. This procedure was first conducted 

with the as-received ceramic supports and then repeated for the same supports after each 

subsequent coating step until the final membrane layer was reached. 

 

3.2.3 Thermal Conductivity 

The measurement of the thermal conductivity of the membranes has been performed by thermal 

conductivity scanning, a technique developed by the Leibniz Institute of Applied Geoscience 

(LIAG) in Hannover based on the work of Popov et al. 1999 [179]. This non-destructive method is 
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based on scanning the sample’s surface with two movable and focused infrared temperature 

sensors in combination with a heat source (Na-vapor lamp), which is operated continuously at 

constant heating power throughout the measurement. By aligning the study sample and the 

reference sample with a known thermal conductivity (𝑘𝑟𝑒𝑓) along the scanning direction, the 

unknown thermal conductivity of the sample (𝑘𝑠𝑎𝑚𝑝𝑙𝑒) can be determined as follows: 

 

 𝑘𝑠𝑎𝑚𝑝𝑙𝑒 = 𝑘𝑟𝑒𝑓 (
Θ𝑟𝑒𝑓

Θ𝑠𝑎𝑚𝑝𝑙𝑒
) (35) 

 

with Θ𝑟𝑒𝑓 and Θ𝑠𝑎𝑚𝑝𝑙𝑒 as the maximum increase of temperature along the reference and the 

sample material, respectively. One set of example results of this measurement is schematically 

shown in Figure 13. To derive the best possible absorption of the heat, as well as to avoid reflection 

of the heat at the sample surface (which would lead to significantly falsified data), specimens 

needed to be prepared with a thin layer (< 100 µm thickness) of black acrylic paint. 

 

 

Figure 13: Schematics of a thermal conductivity scan (modified after Popov et al. 1999), the solid line indicates the 
measured temperature rise (Θ) of the reference (black arrow) and unknown sample material (red arrows). The dashed 
line presents the calculated thermal conductivity of the samples (𝑘𝑠𝑎𝑚𝑝𝑙𝑒) based on the equation 35 [55]. 
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To derive the best possible absorption of the heat, as well as to avoid reflection of the heat at the 

sample surface (which would lead to significantly falsified data), specimens needed to be prepared 

with a thin layer (< 100 µm thickness) of black acrylic paint.  

 

3.2.4 Contact Angle  

The contact angles (CA) were measured using an optical contact angle measuring and contour 

analysis systems (OCA 20, Figure 14) from DataPhysics Instruments GmbH (DE) at room 

temperature. A drop of demineralized water was applied to the surface of a modified Al2O3 flat 

sheet membrane (final pore size: 200 nm) by a dispensing needle. An illuminating screen 

generates a homogenic background. A camera records the image of the resting drop from the 

side. This image was then sent to a screen and evaluated regarding the stationary CA using the 

image processing software of the measuring device. CA measurements on porous membranes 

are generally only conclusive, if the surface characteristics of the membrane do not lead to the 

instant filtration of the drop into the pores.  

 

 

Figure 14: Illustration and components of the optical contact angle measuring and contour analysis systems (OCA 20) 

 

To determine the static, advancing and receding CA (and subsequently the CAH: advancing CA - 

receding CA) the ‘needle method’ was used. A fixed volume of 5 µL of demineralized water was 

pushed out of the needle and attached to the surface by moving the table towards the drop  

(Figure 15a and Figure 15b). The CA that developed in respect to the physio-chemical properties 

of the water drop and surface was considered the static CA. The volume on the water drop on the 
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table is then increased by 50 µL via the dispensing needle so the contact area between the drop 

and the membrane surface is increased (Figure 15c). The CA that was then measured was 

considered the advancing CA (Figure 15c). Subsequently the liquid is then sucked back into the 

needle to decrease the contact area between the drop and the membrane surface while the CA is 

measured (Figure 15d). This CA was considered the receding CA. 

       

 

Figure 15: Measurement of the static, advancing and the receding CA 

 

3.2.5 Liquid Entry Pressure  

As stated before, the LEP refers to the hydrostatic pressure at which pore wetting takes place. If 

the feed infiltrates the membrane pores it contaminates the permeate side of the membrane and 

affects the permeate quality. Thus, the LEP is a practical indicator if a tubular membrane does 

have the required hydrophobicity to be utilized in MD under a certain set of operational parameters 

(e. g. feed composition and feed temperature).   

Bevor testing the membranes had to be dried at a minimum of 90 °C for 2 hours to remove the 

moisture from the membrane pores. After cooling down in the desiccator, the membranes were 

then installed into the LEP test rig (Figure 16).  
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Figure 16: P&I Diagram of the LEP test bed  

 

The membrane tubes were installed using stainless steel connectors in a way that allowed the 

permeate side of the membrane tube to be visually accessible. This enabled the recognition of 

wetting by eyesight as well as the identification of the specific wetting area (Figure 17). The test 

solution was circulated from the stainless-steel feed tank (HPS Handels GmbH DE, 2.25 L) 

through the membranes using a gear pump (Ismatec DE, model: BVB-Z/Z-120). The heating of 

the testing solution was realized by two heated metal hoses (Hillesheim GmbH DE, model: H300 

DN4 and DN10) and the respective temperature controller (Hillesheim GmbH DE, model: HT43-

25F). The hydrostatic pressure was increased in 0.1 bar to 0.5 bar increments using compressed 

air (in-house system) and a manually adjustable needle valve (Nupro Company US, model: SS-

4BK) and monitored via a pressure gauge (Swagelok US, 0 -10 bar(g). Each increment was held 

for a minimum of two minutes. The minimum hydrostatic pressure that led to the infiltration of the 

testing solution into the membrane pores and leading to droplets forming on the outside (permeate 

side) of the membrane was considered the LEP. A safety valve (LORCH Sicherheitsventile GmbH 

& Co. KG DE, opening pressure: 8 bar) was integrated in the system. A minimum of three tests 

was conducted for all membrane types.  
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Figure 17: Wetted tubular TiO2 membrane 

 

The reference testing solution for LEP tests was demineralized water at room temperature. In 

addition, to evaluate the LEP based on the composition of the feed solution the following 

alternative solutions have been used: 

• Demineralized water at 20 °C, 30 °C, 40 °C, 50 °C, 60 °C, 70 °C, 80 °C 

• 1 g, 2 g, 5 g, 10 g, 20 g, 50 g, 100 g, 200 g, 300 g NaCl /kg H2O 

• 250 g sugar / kg H2O (sugar: 99 wt.% D(+)-sucrose, Fluka US) 

• 250 g ethanol / kg H2O (ethanol: > 99.5 wt.%, Merck DE) 

 

3.3 Direct Contact Membrane Distillation and Vacuum Membrane Distillation 

Tests  

3.3.1 Experimental Set-Up and Testing Procedure 

A lab-scale MD test bed containing two separate hydraulic loops made from polyvinyl chloride 

(PVC-C, plastic materials were required due to high loads of chlorides) was designed and 

constructed to enable DCMD (Figure 18) and VMD (Figure 19) operation. The feed was circulated 

by a centrifugal or peristaltic pump (Harton Anlagentechnik GmbH DE, model: Nemp 20/18 and 

Heidolph Instruments DE, model: Pumpdrive 5206) coming from a 4 L PVDF container. The 

coolant (only DCMD, demineralized water) was circulated by a centrifugal pump (Harton 

Anlagentechnik GmbH DE, model: Nemp 20/18) coming from a second 4 L PVDF container. The 

flow velocity was adjustable through a ball-valve (Thyssenkrupp AG DE, model: 163.543.211) and 

a by-pass in each loop and was monitored through an analog flow meter (GEMÜ Gebr. Müller 
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Apparatebau GmbH & Co. KG DE, model: Typ 873) made of PVDF. The feed-side was heated 

through a tube bundle heat exchanger made of PTFE (Polytetra GmbH DE, 0.14 m²) and through 

a circulation thermostat (Julabo GmbH DE model: F12) whereas the electric conductivity of the 

feed and coolant/permeate was monitored by sensors (feed: GHM Messtechnik GmbH DE, model: 

LF425; coolant/permeate: GHM Messtechnik GmbH DE, model: LF200) that were incorporated 

into the container and connected to a logging device (GHM Messtechnik GmbH DE, model: GMH 

5450). Before and after the membrane module, temperature sensors (Pt100) were integrated into 

the pipes of the feed- and permeate-side and connected to another logging device (PCE 

Deutschland GmbH DE, model: PCE-T 390). The feed and permeate samples were collected via 

an outlet using 3-way ball-valves. The pipe system as well as the heat exchangers and container 

on the feed-side were thermally insulated (Armacell GmbH DE, model: AF 2 018-A). The 

membrane housing was made of PVC-C with an in- and outlet for the feed and the 

permeate/coolant side that could be sealed airtight if necessary.  

In DCMD the hot feed was circulated through the membrane channel whereas the coolant was 

circulated counter flow wise along the outer side (permeate side) of the membrane. The permeate-

side was cooled through a self-made stainless steel pipe bundle heat exchanger with an area of 

0.066 m² and by a circulation chiller (VWR International US, model: 13271-218). The feed and 

coolant containers were placed on two laboratory balances (KERN AG DE, model: PBJ 8200-1M) 

to constantly monitor the respective masses and to determine permeate flux gravimetrically. The 

change of the mass of the coolant/permeate stream was obtained and recorded every two 

seconds by the respective balance. The conductivity of the feed and coolant/permeate as well as 

the temperatures at the inlet and outlet of the membrane module were recorded. Each DCMD test 

was run for at least 30 minutes. The testing time was extended up to several hours depending on 

the amount of permeate that was collected. 
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Figure 18: P&I Diagram of the DCMD test bed  

 

In VMD only the temperature of the feed was monitored at the inlet and outlet of the membrane 

module. The absolute pressure on the permeate side was adjusted through a vacuum pump (KNF 

Neuberger GmbH, Laboport DE, model: N810.3) and a needle valve. The vapor was condensed 

in a cold trap outside of the membrane module through a refrigerated bath (VWR International US, 

model: 1190S). The permeate flux was determined by mass balancing. The permeate quality was 

determined by conductivity measurements. Each VMD test was run for a minimum of 15 minutes. 

The testing time was extended up to several hours depending on the amount of permeate that 

was collected. 
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Figure 19: P&I Diagram of the VMD test bed  

 

A minimum of three tests using a minimum of two different membranes of the same type were 

conducted for all investigations if not stated otherwise. The test results are shown as mean values 

with their confidence intervals (95 %, two-sided).   

The rejection [-] was calculated based on the electric conductivity of the feed and permeate 

[µS/cm] as follows: 

  

 𝑅𝑒𝑗𝑒𝑐𝑡𝑖𝑜𝑛 = 100 − (
𝑒𝑙. 𝐶𝑜𝑛𝑑𝑢𝑐𝑡𝑖𝑣𝑖𝑡𝑦𝑃𝑒𝑟𝑚𝑒𝑎𝑡𝑒

𝑒𝑙. 𝐶𝑜𝑛𝑑𝑢𝑐𝑡𝑖𝑣𝑖𝑡𝑦𝐹𝑒𝑒𝑑
) ∗ 100 (36) 

 

The thermal efficiency of a single step VMD process based on the measures permeate fluxes and 

feed temperatures at the membrane module inlet and outlet was calculated based on Eq. 6 

described in the theory section. 
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3.3.2 Operational Parameters and Feed Composition 

To determine the impact of specific membrane properties the following operational parameters 

were kept constant in DCMD and VMD (Table 2). 

  

Table 2: Standard operational parameters for DCMD and VMD tests 

Process Parameters DCMD VMD 

Feed Concentration 30 g NaCl / kg H2O 30 g NaCl / kg H2O 

Feed Temperature 60 °C 60 °C 

Coolant Temperature 20 °C 0 °C 

Feed Flow Velocity 0.72 m/s 0.72 m/s 

Coolant Flow Velocity 0.72 m/s - 

Absolute Pressure Permeate Side - 100 mbar 

 

 

Beyond the standard operational parameters defined in Table 3 the following range of parameters 

were investigated to determine the impact of operational parameters on the performance of 

ceramic membranes in VMD (Table 3). 

 

Table 3: Process parameters investigated in VMD  

Process Parameters  

Feed Concentration [g NaCl per kg H2O] 90, 150, 270, 350 

Feed Temperature [°C] 55, 65, 75 

Coolant Temperature [°C] 0, 3, 15 

Feed Flow Velocity [m/s] 0.14, 0.36, 1.08 

Absolute Pressure Permeate Side [mbar] 75, 100, 125 

 

 

In addition, VMD tests using the following real and recreated solution were conducted: 

• Recreated Salt Mining Wastewater (provided by the K-UTEC AG Salt Technologies): 

38.48 g MgSO4 + 284.50 g MgCl2 + 69.98 g NaCl + 54.13 g KCl per kg H2O 
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• Real Food Processing Wastewater – RO Concentrate: 3.5 wt.% TDS (containing salts 

such as: Na+, Cl-, K+, Mg2+, 𝑃𝑂4
3−) + 1 wt.% humic substances (not further specified by 

supplier) 

 

3.4 Membrane Treatment to Determine Membrane Stability and Overview of 

Membrane Types Investigated 

To evaluate the chemical, thermal and mechanical stability of modified ceramic single channel 

membranes, stability tests using hot saline solutions characterized by extreme pH values (Table 

4) were conducted. The membranes were contacted with the aggressive solutions and 

subsequently characterized in respect of their LEP. The solution that is referred to as ‘neutral’ is 

in fact slightly acidic due to the dissolution of carbon dioxide from the atmosphere. This effect can 

be expected for all standard feed solutions open to the atmosphere. It was referred to as ‘neutral’ 

because no pH value affecting substance was added to the solution. The solution was chosen to 

be saline and hot cause this represents most of the MD environments in which membranes are 

typically used in. 

  

Table 4: Composition of solutions that were used to test the stability of tubular ceramic membranes  

Solutions  Composition pH 

Alkaline 
Nr.1 50 g NaCl 50 g Na2CO3 per kg H2O 12 

Nr.2 250 g NaCl + 50 g Na2CO3 per kg H2O 12 

Neutral 
Nr.1 Demineralized Water 5 

Nr.2 250 g NaCl per kg H2O 5 

Acidic 
Nr.1 50 g NaCl + 135 g HCl (37 wt.%) per kg H2O 0 

Nr.2 250 g NaCl + 1 kg HCl (5 wt.%) 0 

 

 

Three heat-resistant polypropylen (PP-H) tubes with sealed ends (diameter of 70 mm) were filled 

with the saline alkaline, (saline) neutral or saline acidic solution to a height of around 300 mm. The 

tubular membranes (length: 250 mm) were put vertically into the PP-H tube and submerged in the 

respective solution (Figure 20). The PP-H tubes were immersed into heating oil within a stainless 

steel pot with a height of 350 mm. Each of stainless-steel pots were placed on a heater (Heidolph 
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Instruments DE, model: MR Hei-standard). A spiral cold trap was connected to the top of the PVC 

tube to condense the vapor of the aggressive solutions and return inside the tube. The membranes 

were submerged in the solution inside the pot. The mixture was then heated up to ~100 °C. The 

membranes were kept submerged in the hot solution for 96 hours. The temperature of the solution 

was monitored by a temperature sensor (Heidolph Instruments DE, model: EKT Hei-Com). After 

the treatment, the membranes were cleaned with pure water and dried at 120 °C for two hours.  

 

 

Figure 20: Test Rig to cook modified single channel 
membranes (length: 250 mm) in either a saline alkaline, 
neutral or saline acidic solution for 96 hours 

 

Figure 21: P&I Diagramm of the abrasion test bed 

  

To evaluate the resistance towards highly abrasive solutions a highly saline solution (artificially 

recreated potassium mining waste water defined in chapter 3.3.2) was circulated (1.2 L) through 

the lumen of tubular ceramic membranes (pump: Heidolph pumpdrive 520S) at atmospheric 

pressure and ambient temperature for 7 h and 56 h at a feed flow rate of 0.72 m/s (Figure 21). 

Based on the composition and the temperature (20 °C to 30 °C) of the saline solution, the solution 

was at the saturation point (with NaCl crystallizing at first) when utilized for the test. 

The subsequent Table 5 lists all membrane types that were investigated for this work as well as 

the respective tests done on a specific membrane type. 
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Table 5: Specifications of tubular membrane systems that were studied within the scope of this work (δ is the support wall thickness, ε is the open porosity of the support, 
dp is the average pore size, Molecule label is the internal reference to a specific surface modification agent and ω is the mass concentration of the applied modification 
agent 

Support Intermediate layer(s) Final layer Modification 
Tests 

conducted 

Min number of 

membranes 

available 
Material 

δ 

[mm] 

dp 

[µm] 

ε 

[-] 
Material 

dp 

[µm] 

δ 

[µm] 

ε 

[-] 
Material 

dp 

[nm] 

δ 

[µm] 

ε 

[-] 

Molecule- 

label 

ω 

[wt.%] 

Al2O3 1.5 3.6 0.33 Al2O3 0.8/0.2 17.5/17 0.38/0.42 Al2O3 100 16.5 0.43 HOC 1 A,C,D 3 

Al2O3 1.0 3.6 0.33 Al2O3 0.8/0.2 17.5/17 0.38/0.42 Al2O3 100 16.5 0.43 HOC 1 D,E 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 200 16.5 0.42 HOC 1 B,F 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 200 16.5 0.42 HOG 1 B,F 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 400 33 0.44   C 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 400 33 0.44 HOC 1 B,D,F 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 400 33 0.44 HOG 1 B,F 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 400 33 0.44 HOC 2 B,E,F 3 

Al2O3 1.5 3.6 0.33 Al2O3 0.8 17.5 0.38 Al2O3 400 33 0.44 HOM 2 B,E,F 3 

Al2O3 1.6 0.54 0.31 Symmetric Membrane (no intermediate and final layers)   C 3 

Al2O3 0.8 0.54 0.32 Symmetric Membrane (no intermediate and final layers)   C 3 

Al2O3 1.6 0.54 0.31 Symmetric Membrane (no intermediate and final layers) HOC 2 B,E,F 3 

Al2O3 0.8 0.54 0.32 Symmetric Membrane (no intermediate and final layers) HOC 2 E,F 3 

Al2O3 1.6 0.54 0.31 Symmetric Membrane (no intermediate and final layers) HOM 2 B,E,F 3 

Al2O3 0.8 0.54 0.32 Symmetric Membrane (no intermediate and final layers) HOM 2 E,F 3 

TiO2 1.5 4.6 0.33 TiO2 0.8/0.25 30/20 0.28/0.31 TiO2 100 15 0.43 HOC 1 A,B,C,D,G 3 

TiO2 1.0 4.6 0.33 TiO2 0.8/0.25 30/20 0.28/0.31 TiO2 100 15 0.43 HOC 1 D,E 3 

TiO2 1.5 4.6 0.33 TiO2 0.8/0.25 30/20 0.28/0.31 TiO2 250 20 0.31 HOC 1 B,F,G 3 

TiO2 1.5 4.6 0.33 TiO2 0.8/0.25 30/20 0.28/0.31 TiO2 250 20 0.31 HOG 1 B,F 3 

TiO2 1.5 4.6 0.33 TiO2 0.8 30 0.28 TiO2 400 30 0.37 HOC 1 B,D,F,G 3 

TiO2 1.0 4.6 0.33 TiO2 0.8 30 0.28 TiO2 400 30 0.37 HOC 1 D,E 3 

TiO2 1.5 4.6 0.33 TiO2 0.8 30 0.28 TiO2 400 30 0.37 HOG 1 B,F 3 

TiO2 1.5 4.6 0.33 TiO2 0.8 30 0.28 - HOC 1 B 3 

TiO2 1.5 4.6 0.33 TiO2 0.8 30 0.28 TiO2 200 40 0.31   C 3 

TiO2 1.5 4.6 0.33 TiO2 0.8 30 0.28 TiO2 200 40 0.31 HOC 2 B,E,F 3 

TiO2 1.5 4.6 0.33 TiO2 0.8 30 0.28 TiO2 200 40 0.31 HOM 2 B,E,F 3 
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Support Intermediate layer(s) Final layer Modification 
Tests 

conducted 

Min. number 

of membranes 

available 
Material 

δ 

[mm] 

dp 

[µm] 

ε 

[-] 
Material 

dp 

[µm] 

δ 

[µm] 

ε 

[-] 
Material 

dp 

[nm] 

δ 

[µm] 

ε 

[-] 

Molecule- 

label 

ω 

[wt.%] 

TiO2 1.6 0.33 0.31 Symmetric Membrane (no intermediate and final layers)   C 3 

TiO2 0.8 0.20 0.33 Symmetric Membrane (no intermediate and final layers)   C 3 

TiO2 1.6 0.33 0.31 Symmetric Membrane (no intermediate and final layers) HOC 2 B,E,F 3 

TiO2 0.8 0.20 0.33 Symmetric Membrane (no intermediate and final layers) HOC 2 E,F 3 

TiO2 1.6 0.33 0.31 Symmetric Membrane (no intermediate and final layers) HOM 2 B,E,F 3 

TiO2 0.8 0.20 0.33 Symmetric Membrane (no intermediate and final layers) HOM 2 E,F 3 

Mixed Oxides 1.5 1.0 0.46 Al2O3 0.2 33 0.42 Al2O3 100 16.5 0.43 HOC 1 C,D 3 

Mixed Oxides 1.5 1.0 0.46 - Al2O3 400 49.5 0.44 HOC 1 D 3 

Mixed Oxides 1.5 1.0 0.46 - - HOC 1 A 3 

Mixed Oxides 1.5 1.0 0.46 Al2O3 0.2 33 0.42 ZrO2 110 16.5 0.52 HOC 1 C,D 3 

Mixed Oxides 1.5 1.0 0.46 TiO2 0.8/0.25 30/20 0.28/0.31 TiO2 100 15 0.43 HOC 1 C,D 3 

Mixed Oxides 1.5 1.0 0.46 - TiO2 400 45 0.37 HOC 1 D 3 

Mixed Oxides 1.5 1.0 0.46 TiO2 0.4 30 0.37 ZrO2 110 33 0.52 HOC 1 C,D 3 

Cordierite 1.5 0.9 0.36 Al2O3 0.2 33 0.42 Al2O3 100 16.5 0.43 HOC 1 A,C,D 3 

Cordierite 1.5 0.9 0.36 Al2O3 0.4 33 0.44 Al2O3 400 16.5 0.44 HOC 1 D 3 

 

A = Thermal Conductivity:    Experimental procedure: chapter 3.2.3, results: chapter 4.1.1  

B = Liquid Entry Pressures:    Experimental procedure: chapter 3.2.5, results: chapter 4.1.3  

C = Steady State Gas Permeance:   Experimental procedure: chapter 3.2.2, results: chapter 4.1.44.1.1  

D = DCMD:      Experimental procedure: chapter 3.3.1, results: chapter 4.2.1 and 4.2.3  

E = VMD:      Experimental procedure: chapter 3.3.1, results: chapter 4.2.2, 4.2.3, 4.2.4, 4.3  

F = Stability Tests:     Experimental procedure: chapter 3.4, results: chapter 4.2.5  

G = VMD Modelling:     Experimental procedure: chapter 3.5, results: chapter 4.4 
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3.5 Mass Transfer Modelling 

The mass transfer modelling was limited to the VMD configuration. This is because the conditions 

under which the mass and heat transfer takes place in DCMD could not be specifically defined. 

For instance, it is not known how strongly different supports infiltrate with coolant liquid during 

operation affecting the heat transfer and diffusion distances. The mass transfer was calculated 

using a generally accepted VMD model based on the DGM and semi-empirical relationships that 

are described in more detail in chapter 2.5. The follow Figure 22 gives an overview of the modelling 

approach.  

  

 

Figure 22: Schematic representation of the modelling approach 

 

N2 permeance data and known morphological data (e.g. pore size and layer thickness) were used 

to calculate the tortuosity of each membrane layer using the DGM in the following form 

[89,146,152,180] (blue background in Figure 22): 

 

 𝜏 =  (
2휀𝑟

3
+

휀𝑟2𝑝𝑎𝑣

8𝜂𝑁�̅�
)

�̅�∆𝑝

𝐽𝑅𝑇𝛿
 (37) 
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With 𝜂𝑁 as the dynamic viscosity of nitrogen [Pa s], �̅� as the molecular velocity of nitrogen (√
8𝑅𝑇

𝜋𝑀𝑁2
) 

[m/s] and 𝑀𝑁 as the molecular weight of nitrogen [kg/mol]. The full set of morphological data was 

then fed into the modified DGM (Eq. 33, super-position of Knudsen diffusion and viscous flow as 

determined via the Knudsen number). The average temperature was assumed to be constant 

across the membrane because the relatively high thermal conductivity of the membrane makes it 

serve as a heat exchanger compensating for the heat loss of the vapor due to the pressure drop. 

The average pressure inside the pores for each membrane layer was approximated iteratively 

using the DGM as well as the following relation: 

 

 𝑝𝑎𝑣 =  
∆𝑝

2
+ 𝑝𝐼𝑛𝑙𝑒𝑡 (38) 

 

Semi-empirical relations described in chapter 2.5.1 as well as measured data on the permeate 

flux were used to approximate temperature and concentration polarization for each data point. 

The consideration of concentration polarization was limited to the saturation point at the respective 

feed temperature. This data was then used to determine the partial vapor pressure at the 

membrane interface and subsequently the actual driving force in consideration of the absolute 

pressure applied to the permeate side (yellow background in Figure 22). The mass transfer 

resistance was calculated using the modified DGM for each separate layer and combined in series 

to determine the overall mass transfer resistance (green background in Figure 22). Using the 

overall mass transfer resistance and the actual driving force the vapor flux could be calculated. 

Based on the agreement between calculated and measured permeate fluxes model deficiencies 

were identified and corrections factors integrated accordingly. This approach was used to 

calculate the vapor flux in respect to the feed temperature and flow velocity in variation of the pore 

size and feed concentration. All calculations were based on the mathematical correlations 

introduced in chapter 2.5.1 and chapter 2.5.2 as well as fitting functions listed in Table 6.  
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Table 6: Mathematical correlations and fit function used to determine the viscosity of the feed (𝜂𝐹𝑒𝑒𝑑), heat capacity of 

the feed (𝐶𝑃), thermal conductivity of the feed (𝑘𝑓) and the permeate flux (J) for the VMD mass transfer modelling (if 

unspecified the concentration refers to the total mass of the mixture) 

Parameter  Model as Function of Temperature Ref. 

𝜂𝐹𝑒𝑒𝑑 [Pa s] 

Feed: 30 g NaCl/kg H2O: (0.1139𝑇2 − 21.185𝑇 + 1351.9) ∙ 10−6, 

R²=0.9996, T in °C, cNaCl = 0.5 mol/kg  

[181] 

Feed: 350 g NaCl/kg H2O: (0.2119𝑇2 − 39.473𝑇 + 2526.6)10−6, 

R²=0.9996, T in °C, cNaCl = 4.43 mol/kg 

𝐶𝑃 [J/K] 

Feed: 30 g NaCl/kg H2O: 0.0043𝑇2 − 0.0508𝑇 + 4035.9, 

R²=0.9994, T in °C 

[182] 

Feed: 350 g NaCl/kg H2O: −0.0052𝑇2 + 0.1352𝑇 + 3276.6, 

R²=0.9974, T in °C 

𝑘𝑓 [W (m K)] 

Feed: 30 g NaCl/kg H2O: (−0.0091𝑇2 + 7.115𝑇 − 708.69) 10−3, 

R²=0.9989, T in K, c = 26 g NaCl/kg H2O 

[183] Feed: 350 g NaCl/kg H2O: 

(−0.0093T2 + 7.2351T − 751.96) ∙ 10−3, 

R²=0.9975, T in K, c = 312 g NaCl/kg H2O 

J [kg/(m² h)] 

100nm, 150 L/h: 0.0355𝑇2 − 3.1𝑇 + 67.313, 

R²=1, T in °C 

 

100nm, 50 L/h: 0.0205𝑇2 − 12.809𝑇 + 1999,7, 

R²=1, T in K 

100nm, 20 L/h: −0.0078𝑇2 + 1.63𝑇 − 64.197, 

R²=1, T in C 

400nm, 100 L/h: 0.0128𝑇2 + 0.2618𝑇 − 41.797, 

R²=0.9939, T in C 
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4 Results and Discussion 

The result section presents and discusses data on membrane characteristics (i.e. pore size, 

thermal conductivity, layer composition, layer thickness, permeance, hydrophobicity and stability) 

of ceramic (MD) membranes and evaluates the impact of those properties on the performance in 

DCMD and VMD configuration. In addition, the VMD performance is evaluated in respect to 

relevant process parameters such as the feed composition, feed temperature and flow velocity 

and the absolute pressure on the permeate side using synthetic saline and real solutions. The 

data presented and discussed on membrane properties as well as the performance data of 

ceramic membranes in DCMD and VMD is used to validate and improve a VMD model proposed 

by the literature (based on the DGM) and provide stimulus for membrane adaptation and 

optimization. Moreover, the performance data is used to assess the strength and limitation of 

ceramic membranes and to identify suitable areas of application.  

 

4.1 Characterization of Ceramic Membrane Properties 

The viability of a MD process is highly dependent on the membranes utilized within the process. 

The membrane facilitates the selective extraction of volatile components such as water vapor from 

an aqueous solution via diffusion in respect to its specific characteristics but also defines the extent 

of the mass transfer resistance towards the transported molecules. Therefore, it is imperative to 

understand the structure and properties of ceramic membranes in detail. This allows the 

evaluation of the impact of relevant membrane properties on the MD performance (permeate flux, 

selectivity, stability and heat transfer) of ceramic membranes. The results presented in this section 

are based on investigations that provided data that complements data derived via standard 

characterization methods (e.g. pore size and porosity) but was required to correlate membrane 

performance with membrane properties beyond pore size and porosity (thermal conductivity, 

permeance and hydrophobic characteristics). For instance, knowledge on the thermal conductivity 

of ceramic membranes was needed to understand the permeate flux and energy efficiency of 

ceramic membranes in respect to temperatures polarization while steady state gas permeation 

tests were required to evaluate the permeate flux in respect to the layer design of the membranes. 
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4.1.1 Thermal conductivity 

The thermal conductivity of a membrane is governed by the thermal conductivity of the membrane 

material and the porosity of the membrane due to the void fraction that serves as a thermal 

insulation. High thermal conductivities lead to an increased heat transfer (and heat loss) via heat 

conduction which in return cause more pronounced temperature polarization effects resulting in 

the reduction of the driving force. Therefore, the thermal conductivity is a membrane parameter 

that strongly affects the energetic efficiency of MD processes. This effect is predominantly 

observed in DCMD since the permeate side of the membrane system is in direct contact with the 

cooling liquid. In VMD, the effect of the thermal conductivity is relatively small since there is no 

fluid on the permeate side to absorb heat from the feed. The heat that is transferred is mainly 

latent heat transported by the vapor flux. Figure 23 illustrates the measured thermal conductivity 

of several tubular ceramic supports (different materials) as well as the same support types with 

added membrane layers and surface modification. 

 

 

Figure 23: Thermal conductivity of different membranes made of Al2O3 (coated with Al2O3 layers), TiO2 (coated with 
TiO2), cordierite (Cor) and mixed oxide (MO), In case of Membrane Coating: final pore size = 100 nm, HOC refers to 
the hydrophobic agent as defined in chapter 3.1, 5 tests, the error bars depict the confidence intervals of the average 
value  

 

Al2O3 membranes exhibited the highest thermal conductivity with values between 1.5 W/(m K) to 

1.6 W/(m K) followed by the TiO2 membranes that showed thermal conductivities in the range of 

0.6 W/(m K) to 0.8 W/(m K) The cordierite and mixed oxide membranes showed the lowest 

thermal conductivities in the range of 0.5 W/(m K). This observation can be attributed to the 
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different thermal conductivities of the materials (Al2O3 15 W/(m k) to 30 W/(m K), TiO2: 1.5 W/(m k) 

to 5 W/(m k) and cordierite material: 1.2 W/(m K) to 2.5 W/(m K) [119]) as well as the different 

porosities of the membrane supports (Table 5, Al2O3: 33 %, TiO2: 33 %, cordierite: 36 % and mixed 

oxide: 46 %). The coating or grafting process did not impact the thermal conductivity of any 

membrane types significantly even if the membrane layers were made from a different material 

than the support (cordierite support vs cordierite support + Al2O3 layers). It can be stated that the 

support properties define the thermal conductivity of ceramic asymmetric single channel 

membranes. This is because the support thickness is more than 10-times greater than the 

thickness of all membrane layers combined. The thermal conductivity of a membrane is governed 

by the thermal conductivity of the ceramic material and the gas phase (usually air) within the 

membranes pores and can be predicted for polymeric membranes using models in regard to the 

thermal conductivity of the material and the porosity of the membrane [95]. Unfortunately, these 

models do not account for the microstructure of ceramic membranes (e.g. grain sintering, grain 

growth and pore formation) which can vary significantly in dependence on the wall thickness of 

the membrane and the sinter regime. Therefore, these models do not adequately predict the 

thermal conductivity of ceramic membranes. This is also the reason why the thermal conductivities 

of TiO2 and Al2O3 membranes (similar porosities) do not differ as strongly as could be expected if 

the highly different thermal conductivities of the membrane materials are considered (factor 2.5 vs 

factor of 3 to 20). Even though the thermal conductivity values reported for cordierite and mixed 

oxides membranes are significantly lower than the thermal conductivity of Al2O3 membranes they 

are still significantly higher (by a factor > 10) than the thermal conductivity of hydrophobic 

polymeric membranes such as PTFE, PVDF and PP with values from 0.027 W/(m K) to 

0.041 W/(m K) [17]. 

 

4.1.2 Contact Angle Measurements 

CA measurements on hydrophobized Al2O3 flat sheet membranes at ambient conditions were 

done. Based on the extent of the CA (CA > 90° or CA < 90°) alternative potentially suitable 

hydrophobic agents for the modification of tubular ceramic membranes were identified. The CA 

measurements on Al2O3 flat sheet membranes modified with HOC and HOG were taken as a 

reference. The results are displayed in Figure 24.  
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Figure 24: Contact angle measurements of Al2O3 flat sheet membranes (final pore size: 200 nm) modified with 11 
different hydrophobic agents (HA: Hydrophobic Agent (1 wt.%), HOC/HOG: internal standard, testing solution: pure 
water at room temperature, minimum of 4 tests, the error bars depict the confidence intervals of the respective average 
value  

 

As can be seen in Figure 24, all hydrophobic agents but HA 2 and HA 3 (non-conclusive results 

due to high error margins) resulted in CAs greater than 90°. This indicates that the chemical 

modification using the hydrophobic agents (H1 and H4 to H9) resulted in a significant lowering of 

the free surface energy of the Al2O3 flat sheet membranes. It can also be stated that the CAs of 

the Al2O3 flat sheet membranes modified with H1 and H5 to H8 show very little error margins and 

lie in the same range as CAs measured for Al2O3 flat sheet membranes modified with the reference 

agents HOC and HOG (~ 140 °). Because the CA does not consider the heterogeneity of the 

membrane surfaces it only serves as a first indicator of the extent of the hydrophobicity of modified 

porous ceramic membrane. Consequently, it could be concluded that samples with a CA below 

90° were not hydrophobic (HA 2 and HA 3) and were excluded from further tests. It also means 

that samples with a CA above 90 °C were not necessarily hydrophobic since the heterogeneity of 

their surface is not considered. The contact angle hysteresis CAH is an additional CA based 

indicator (= difference between advancing and receding CA) that is more suited to characterize 

the hydrophobicity of a heterogeneity membrane surface (e.g. caused by membranes pores). 

Based on the results illustrated the above, the advancing and receding CA as well as the 
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respective CAH of those modified Al2O3 flat sheet membranes (all but H2 and H3) were determined 

that exhibited CAs over 90 °C (Figure 25).  

 

 

Figure 25: Contact angle hysteresis of Al2O3 flat sheet membranes modified with 7 different hydrophobic agents (light 
grey bars: advancing CA, dark grey bars: receding CA and hysteresis CAH, testing solution: pure water at room 
temperature, minimum of 4 tests, the error bars depict the confidence intervals of the respective average value 

 

On a heterogenic or rough surface (the surface of a modified ceramic membranes is heterogenic) 

the receding CA is expected to be smaller than the static or advancing CA. Therefore, the smaller 

the difference (CAH) between the receding CA and the advancing CA on a modified ceramic 

membrane surface (if both CA are considerably higher than 90°) the more pronounced the 

hydrophobic characteristics of the membrane surface. Whereas the advancing CAs were 

measured in the range of 118 ° and 135 ° the receding CAs were determined to be below 90° 

(except for HA 6) resulting in high CAHs. Since HA 6 is the only sample that exhibited both 

advancing and receding CAs above 90° (resulting in a relatively small CAH) it represents the 

membrane sample modified with the most promising hydrophobic agent. Based on these results, 

HA 6 (referred to as ‘HOM’, non-fluorinated, described in chapter 3.1) was then chosen to serve 

as an additional non-fluorinated hydrophobic agent (beside the standard hydrophobic molecules 

HOC and HOG) to modify selected ceramic single channel tubes to enable further investigations.   
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4.1.3 Liquid Entry Pressure – Impact of Pore Size, Feed Characteristics and 

Surface Modification 

The LEP serves as a practical parameter to define the extent of the hydrophobic characteristics 

of membranes and is more suitable than the CA as an indicator if specific process conditions allow 

the application of a certain membrane type in MD processes. As mentioned before the literature 

recommends a LEP of 2.5 bar or higher for membranes to be utilized in MD processes [86]. 

Besides the feed characteristics and membrane properties (pore size), the modification agent and 

the grafting methodology (e. g. time, concentration) define the extent of the LEP of functionalized 

ceramic membranes. The literature suggested that the ideal concentration for the modification of 

asymmetrically structured single channel ceramic membranes (TiO2) modified by PFAS is 1 wt.% 

[129]. For this study, a selection of symmetrically structured and asymmetrically structured 

ceramic membranes was modified using 1 wt.% of HOC and 1 wt.% of HOG (asymmetric Al2O3 

and TiO2 membranes) as well 2 wt.% of HOC and 2 % of HOM (symmetric and asymmetric Al2O3 

and TiO2 membranes). Since the modification of the symmetric membranes is not limited to a thin 

active membrane layer (the whole cross section of the membrane defines the selectivity) the 

higher concentration of 2 wt.% was chosen. To ensure the comparability between the two 

membrane types the asymmetrically structured ceramic membranes were modified with 2 wt.% of 

HOC and 2 wt.% HOM as well. HOC and HOG were chosen as hydrophobic agents because they 

were used successfully to modify hydrophilic ceramic membranes prior to this work. However, 

despite being used frequently for the modification of ceramic membranes, the dependency of the 

hydrophobic extent (induced by HOC and HOG) has not been studied in respect to membrane 

and feed solution characteristics. HOM was chosen as a non-fluorinated alternative based on 

promising CA data presented in chapter 4.1.2. In order to obtain a general understanding of the 

modification efficiency in respect to the selected hydrophobic agents, the LEP was determined in 

respect to the type and concentration of the hydrophobic agent as well as the membrane pore 

size (Figure 26).  
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Figure 26: LEP in dependence of the material (light grey: Al2O3, dark gray: TiO2), layer structure (symmetric and 
asymmetric), pore size (asymmetric membranes: final membrane layer, symmetric membranes: same pore size over 
the whole cross section of the membrane) and the type and concentration of the hydrophobic agent (HOC and HOM), 
minimum of 4 tests, the error bars depict the confidence intervals of the respective average value 

 

All modified membranes exhibited LEPs above 2.5 bar fulfilling the minimum requirement 

(suggested by the literature) to be utilized in MD processes. The symmetric Al2O3 membranes 

showed higher LEPs than the asymmetrical Al2O3 membrane modified with the same hydrophobic 

agents despite their larger pores (0.54 µm vs 0.4 µm). The symmetrical TiO2 membranes exhibited 

lower LEP than the asymmetrical TiO2 membranes if modified with HOC. This behavior is in 

accordance with the pore size of the asymmetric and symmetric TiO2 membranes 

(0.33 µm vs 0.2 µm). In contrast, TiO2 membranes modified with HOM showed the same effect as 

the Al2O3 membranes exhibiting a considerably higher LEP for symmetric membranes than 

asymmetric membranes despite the larger pores.   

It can be stated that using 2 wt.% instead if 1 wt.% HOC did not increase the LEP of asymmetric 

Al2O3 or TiO2 membranes significantly. This is in accordance with the study of Schnittger et al. 

2019 [129] that showed no significant increase of the LEP with the increase of the PFAS 

concentration from 1 wt.% to 2 wt.% for asymmetrical TiO2 membranes with a pore size of 250 nm. 

The use of 2 wt.% HOM (non-fluorinated) instead of 2 wt.% HOC (fluorinated) resulted in a slightly 

increased LEP for asymmetrical Al2O3 membranes and a strongly reduced LEP (43 %) for 
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asymmetric TiO2 membranes. Except for the asymmetric Al2O3 membrane modified with 2 wt.% 

HOM, the type of the hydrophobic agent (non-fluorinated: HOC & HOG vs fluorinated) as well as 

the concentration did not affect the LEP of asymmetrical Al2O3 membranes significantly. The 

modification of asymmetrical TiO2 membranes using the hydrophobic agent HOM resulted in a 

considerably reduced LEP whereas the use of HOC as the hydrophobic agent (fluorinated agents 

as defined in chapter 3.1) did not lead to significant differences in the LEP.   

The LEP of symmetric Al2O3 membranes was not significantly affected by choice of modification 

agent (non-fluorinated vs fluorinated) whereas the use of HOM led to 60 % higher LEP of 

symmetric TiO2 membranes in comparison with membranes modified with HOC. As described in 

chapter 2.2.1 the LEP is highly affected by the feed characteristics such as feed temperature, 

salinity and the presence of surface-active substances. Although the LEP model (Eq. 2) derived 

by Franken et al. 1987 [73] does not consider the feed characteristics directly, these parameters 

affect the liquid-solid contact angle and the liquid surface tension significantly which are an integral 

part of the model [89]. To determine the impact of the aforementioned factors on the LEP of 

modified tubular ceramic membranes, single channel TiO2 tubes exhibiting a pore size between 

100 nm and 800 nm were modified using 1 wt.% HOC and characterized regarding the LEP using 

feed solutions with different properties. Figure 27 shows the LEP in respect to the pore size and 

the temperature of the testing solution.  

 

 

Figure 27: LEP in dependence of the pore size (final membrane layer) and testing solution temperature, the maximum 
LEP that could be measured was 7 bar (membrane: TiO2 modified with 1 wt.% HOC, testing solution: pure water, 3 to 
6 tests were conducted on separate membranes for each temperature), the error bars depict the confidence intervals 
of the respective average value 
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The highest LEP of 7 bar and above (7 bar is the LEP test rig limitation) was determined for 

membranes with an average pore size of 100 nm and for test solution temperatures ranging from 

20 °C to 60 °C. The LEP showed a decline with increasing membrane pore size to around 1 bar 

for a pore size of 800 nm. This observation is in accordance with the LEP model (Eq. 1) derived 

by Franken et al. 1987 [73] suggesting an inversely proportional relationship between the 

maximum membrane pore size and the LEP. Moreover, the LEP decreased with increasing test 

solution temperatures for all membrane pore sizes. Higher temperatures lead to the water 

molecules gaining kinetic energy causing a reduction of the intermolecular forces which 

subsequently lowers the surface tension. This effect is also represented in the LEP model since it 

considers the liquid surface tension directly and indirectly (via the liquid-solid contact angle). The 

near linear dependency between the surface tension of pure water and temperature is also 

reported in the literature [184]. The effect of the pore size on the LEP was considerably stronger 

than the effect of the solution temperature. For instance, the LEP decreased between 35 % and 

41 % with the increase of the pore size from 250 nm to 400 nm (62.5 %) while the increase of the 

temperature of 100 % (20 °C to 40 °C, 30 °C to 60 °C and 40 °C to 80 °C) lead to an decrease of 

the LEP between 8.3 % and 24.3 %. The literature recommends a minimum LEP of 2.5 bar for a 

membrane utilized in MD. Based on this recommendation, TiO2 membranes with pores sizes of 

up to 400 nm modified with 1 wt.% of HOC can be used in environments with temperatures up to 

80 °C while membranes with a final pore size of 800 nm should not be used. The LEP values 

obtained for the TiO2 membranes are competitive to the LEP reported for polymeric membranes 

reported in the literature (Table 7). Additionally, it can be stated that only the commercial polymeric 

membrane type listed in Table 7 (with a pore size ≥ 200 nm) that offers LEPs above 2.5 bar is 

made of PTFE. It should be kept in mind that the minimal LEP of 2.5 bar is a recommendation by 

the literature but that feed characteristics such as composition and temperature can require a 

considerable different LEP.  

 

Table 7: LEP values of commercially available hydrophobic polymeric membranes given by the manufactures [83] 

Material Pore size: 200 nm (220 nm for PVDF) Pore Size: 450 nm 

PTFE 2.76 bar to 4.63 bar 1.38 bar to 2.88 bar 

PVDF 2.04 bar to 2.29 bar 1.05 bar to 1.10 bar 

PP 1.40 bar - 
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Beside the temperature, the surface tension of a solution (and subsequently the LEP) is affected 

by its composition. For instance, due to their opposite charge the interaction of salt molecules with 

water molecules is stronger than the interaction of water molecules with each other resulting in 

higher surface tensions of saline solutions in comparison with deionized solutions (pure water). 

To understand to what extent the above-mentioned effect is several testing solutions containing 

1 g NaCl/kg H2O to 300 g NaCl/kg H2O were used to determine the LEP of TiO2 membranes with 

pore size between 100 nm and 800 nm modified using 1 wt.% HOC (Figure 28). The LEP could 

not be determined for TiO2 membranes with a pore size of 100 nm for all NaCl concentrations 

since it was exceeding the maximum value quantifiable. Therefore, the LEP in regard of the NaCl 

concentration is not illustrated for TiO2 membranes with a final pore size of 100 nm.  

 

 

Figure 28: LEP in dependence of the pore size (final membrane layer) and NaCl concentration of the testing solution, 
the maximum LEP that could be measured was 7 bar (membrane: TiO2 modified with 1 wt.% HOC, testing solution:  
1 g NaCl /kg H2O to 300 g NaCl /kg H2O at 20 °C, minimum of 3 tests, the error bars depict the confidence intervals of 
the respective average value  

 

The literature suggests that the surface tension increases linearly with the salt concentration 

above 0.01 mol of most inorganic salts [185,186]. However, for this study no trend could be 

observed for the LEP in respect to increasing NaCl concentrations up to 50 g per kg H2O for all 

pore sizes. The reason for this observation could not be conclusively clarified. However, it was 

suggested that imperfection on the surface of the modified ceramic membranes enable the 

adsorption of ions present in the solutions enhancing the hydrophilic characteristics at these 
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locations. At low NaCl concentrations (< 50 g NaCl per kg H2O) this effect could moderate the 

increase of the surface tension (and subsequently the LEP) of the testing solution with increasing 

salt concentrations [187]. The further increase of the NaCl concentration from 50 g per kg H2O to 

300 g per kg H2O led to a moderate increase of the LEP for all pore sizes. The impact of the 

salinity is slightly more pronounced for TiO2 membranes with a pore size of 250 nm than for larger 

pore sizes. It can be stated that high concentrations of salts (> 100 g NaCl/kg H2O) could (to some 

extent) moderate the negative impact of larger membrane pore sizes and higher solution 

temperatures.   

As mentioned before, the presence of organic matter can affect the surface tension of a solution 

strongly and therefore limit the operational capability of a hydrophobic membrane due to the 

reduction of the LEP [69,73,87,188]. It is imperative to understand to what extent common organic 

(surface-active) substances affect the wettability of hydrophobic ceramic membranes and how 

they limit their usability. It was concluded that the allowable concentration of organic compounds 

in the feed cannot be calculated but has to be determined experimentally [73]. Therefore, TiO2 

membranes with different pore sizes modified with 1 wt.% HOC were characterized regarding their 

LEP using a 20 wt.% ethanol and a 20 wt.% sucrose solution. 

 

 

Figure 29: LEP in dependence of the pore size (final membrane layer) and sucrose as and ethanol concentration of the 
testing solution, the maximum LEP that could be measured was 7 bar (membrane: TiO2 modified with 1 wt.% HOC, 
testing solutions: 20 wt.% ethanol and 20 wt.% sucrose at 20 °C, minimum of 3 tests, the error bars depict the 
confidence intervals of the respective average value  
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The LEP did not differ significantly when using an aqueous sugar solution as the testing liquid 

instead of pure water. This observation can be explained with two effects that compensate each 

other if sugar is added to water. The first effect is the breaking up of the hydrogen bonds in water 

by the hydration energy generated by the interaction of sugar and water resulting in a lower surface 

tension. The second effect is the increase of the intermolecular attractions caused by the polarity 

(charge) of the sugar molecules leading to an increase of the surface tension of the solution. 

Additionally, this effect is enhanced by the formation of hydrogen bonds between the water 

molecules and the multitude of hydroxyl groups of the sugar. The second effect is dominant for 

high concentrated sugar solutions. For all TiO2 membranes the LEP was significantly lower for 

tests using the 20 wt.% ethanol solution instead of pure water. This observation can be explained 

by the reduced surface tension of the ethanol in comparison with the surface tension of pure water. 

This is because the cohesive forces between ethanol and water molecules (one hydrogen and 

one carbon atom resulting in a lower partial charge) are not as strong as the attraction forces due 

to hydrogen bonding (two hydrogen atoms bound to an oxygen atom) between the water 

molecules. The decline of the LEP caused by the presence of ethanol molecules is more 

pronounced for larger pore sizes (100 nm: -41 %, 250 nm: -65 %,  

400 nm: -72 % and 800 nm: -75 %). It should be noted, that only the TiO2 membranes with a pore 

size of 100 nm exhibit LEPs above 2.5 bar (minimum LEP recommended in the literature) when 

tested with an alcoholic solution containing 20 wt.% ethanol.  

It must be considered that the membrane pore sizes given refer to average values determined 

from the pore size distributions (d50) based on mercury porosimetry tests (chapter 3.2.1). Even 

though these values depict the actual pore size of a membrane layer to a reasonable degree a 

stronger deviation of the pore size for individual membranes is possible which would severely 

affect the LEP. Even though the average pore size and not the pore size distribution was 

considered it was assumed that tests conducted on several membranes of the same type and the 

determination of the respective confidence intervals dampen this cause of error. Furthermore, the 

pore size given in the graphs represents the pore size of the final layer for asymmetric membranes 

and the pore size of the support for the symmetric membranes (no membrane layers present). 

  

4.1.4 Steady State Gas Permeation – Impact of Coating Process and Layer 

Design 

The N2 permeance helps to understand how morphological parameters such as the pore size, 

tortuosity and layer thickness of a single layer (symmetrically structured) or multi-layer 
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(asymmetrically structured) membrane affect the gas transport through a membrane. To evaluate 

how the mass transfer is depended on the layer structure of ceramic membranes the N2 

permeance of asymmetrically structured (support + coating towards target pore size) and 

symmetrically structured (support with target pore size, no coating necessary) Al2O3 and TiO2 

membranes with different wall thicknesses was determined Figure 30. 

 

 

Figure 30: N2 permeance in dependency of the membrane material, pore size, thickness and layer structure (light grey 
bars: Al2O3 and dark grey bars: TiO2), exact layer structure is given in (Table 5), minimum of 3 tests, the error bars 

depict the confidence intervals of the respective average value 

 

The symmetric Al2O3 membranes with a ‘support’ pore size of 540 nm exhibited a N2 permeance 

of 25 m³/(m² h bar) and 41 m³/(m² h bar) for a wall thickness of 1.6 mm and 0.8 mm respectively. 

The N2 permeance is a factor of 10 to 19 lower than the permeance of the asymmetric Al2O3 

membrane with a final pore size of 400 nm that was determined at 473 m³/(m² h bar). A similar 

observation is made for the TiO2 membranes. While the asymmetric TiO2 membrane with a final 
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pore size of 200 nm showed a N2 permeance of 517 m³/(m² h bar) the symmetric TiO2 membranes 

exhibited N2 permeances of 15 m³/(m² h bar) and 22 m³/(m² h bar) for a wall thickness of 1.6 mm 

(pore size: 330 nm) and 0.8 mm (pore size: 200 nm) respectively. Therefore, the N2 permeances 

differ by a factor of 24 to 34 between the symmetric and asymmetric TiO2 membranes. The mass 

transfer rate varies considerably between the symmetrically and asymmetrically structured 

membranes due to the higher mass transport resistance imposed by a smaller pore size over a 

greater diffusion distance. Vapor molecules that diffuse through asymmetric ceramic membranes 

only pass very short distances (layer thickness typically << 100 µm) with pore sizes smaller than 

1 µm. The support section with a thickness of 1.0 mm or 1.5 mm (more than 90 % of the cross 

section of the membrane) typically exhibits large pore sizes (above 3 µm) that impose relatively 

small resistances. In contrast, using symmetric membranes the vapor molecules must diffuse 

through small pores for the whole cross-section of the membranes causing significant pressure 

drops along the way. This is also the reason why the thinner symmetric membranes (0.8 mm) 

outperform the thicker symmetric membranes (1.6 mm). This is particularly interesting if the TiO2 

membranes are considered because they do not only differ in terms of their thickness but also in 

respect to their pore size (the same pore size for symmetric TiO2 membranes could not be 

achieved at different wall thicknesses). Even though the thicker membrane has the larger pore 

size (330 nm > 200 nm) it cannot compete with the thinner TiO2 membrane regarding the N2 

permeance. The N2 permeance of the asymmetric Al2O3 and TiO2 membranes is strongly affected 

by the coating process which causes this TiO2 membrane to show higher N2 permeances than the 

Al2O3 despite its smaller pore size (Table 5).  

The coating process entails the consecutive adding of membrane layers with declining pore sizes 

onto the ceramic support tube until the target (final) pore size is obtained. This means that each 

coating step affects the mass transport of the overall membrane system. To understand how each 

specific membrane layer affects the gas transport through asymmetrically layered ceramic 

membranes specifically the N2 permeance of various support types (TiO2, Al2O3, cordierite and 

mixed oxide) before and after each successive slurry coating step was determined (Figure 31). 
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Figure 31: N2 permeance as a function of pore size of an incrementally coated TiO2, Al2O3, cordierite and mixed oxide 
supports (white shapes) to the pore size of 100 nm, the black markers symbolize the modification of 100 nm TiO2 and 
Al2O3 membranes modified with 1 wt.% HOC, test conditions: T: ambient temperature, ppermeate: ambient pressure, 

Δp,Feed-Permeate: 1000 mbar, minimum of 3 tests, the error bars depict the confidence intervals of the respective average 
value 

 

The maximum N2 permeance for any overall membrane system was determined for the TiO2 

membrane starting at around 1200 m³/(m² h bar) for the support and declining due to the coating 

process to a minimum value of 398 m³/(m² h bar) when the final membrane layer with a pore size 

of 100 nm was added. The second highest permeance was determined for the Al2O3 membrane 

starting at around 580 m³/(m² h bar) for the support and declining up to 330 m³/(m² h bar) at 

100 nm. The permeance of the TiO2 and Al2O3 support was considerably higher than the 

permeance of the cordierite and mixed oxides supports (TiO2: by a factor of around 7.2 to 13.3, 

Al2O3: by a factor of around 3.5 to 6.4). This can be attributed to the larger pores of the TiO2 and 

Al2O3 supports in comparison to the mixed oxide and cordierite supports (Table 5) as well as the 

large share of the support of the overall membrane thickness. The impact of the pore size is in 

accordance with the viscous flow term of the DGM which considers the average pore size to the 

exponent of two. The mixed oxide support exhibited a significantly higher N2 permeance than the 
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cordierite support (factor of 1.8) which is based on the higher porosity (10 %) and support pore 

size (10 %). It can be noted that the larger the support pore size (TiO2 > Al2O3 > mixed oxide > 

cordierite) is, the stronger is the decline of the N2 permeance in respect to successively added 

membrane layers towards a pore size of 100 nm. This trend is expected to some extent since the 

morphological properties of the intermediate and final layer do not differ as much as the supper 

properties between the different membranes. This causes a stronger decline of the permeance for 

supports with larger pore sizes. However, the porosity of the intermediate layers of the TiO2 

membrane is around 10 % smaller than the porosity of the intermediate layers of Al2O3 which 

enhances the effect in direct comparison between both membranes. In addition, due to their 

different support pore sizes, the membranes may also exhibit a different infiltration behavior of the 

membrane slurry into the support potentially resulting in localized pore blockage. Thereby, the 

asymmetric membranes exhibiting relatively large support pore sizes (Al2O3 and the TiO2) showed 

similar N2 permeances at a final layer pore size of 100 nm despite their significant imbalance 

regarding their support permeance. In contrast, the coating process of the mixed oxide and 

cordierite support affected the N2 permeance of these membrane types only to a small extent. 

Moreover, it should be noted that the modification process using 1 wt.% of HOC did not lead to a 

significant decline of the N2 permeance of the TiO2 and Al2O3 membranes. This finding is 

supported by the literature that stated that this type of hydrophobic molecule predominantly forms 

monolayers on the ceramic surfaces [124]. Furthermore, the size of the hydrophobic chains of 

PFAS molecules was determined to be in the range of 1.5 nm to 2.2 nm and therefore considered 

do not cause considerable pore blocking [109].   

To evaluate how different layer materials affect the gas permeance of the overall membrane 

system mixed oxides supports were coated with TiO2, Al2O3 and ZrO2 layers and characterized in 

respect to their N2 permeance before and after each coating step Figure 32. 
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Figure 32: N2 permeance as a function (x axis: logarithmic) of incrementally coated mixed oxides supports (pore size: 
1.0 µm) towards a pore size of an active membrane layer of 100 nm (TiO2, Al2O3) or 110 nm (ZrO2, test conditions:  
T: ambient temperature, ppermeate: ambient pressure, pΔ,Feed-Permeate: 1000 mbar, minimum of 3 tests, the error bars depict 
the confidence intervals of the respective average value 

 

The material chosen for the coating of the intermediate or final layers with a final pore size of 

100 nm (Al2O3 or TiO2) or 110 nm (ZrO2) did not affect the N2 permeance of the overall membrane 

significantly. Furthermore, the N2 permeance was not depended on the pore size of the 

intermediate layers (400 nm, 250 nm or 200 nm). The coating of the final membrane layers to 

achieve the target pore size of 100 nm or 110 nm did cause a moderate reduction of the N2 

permeance. This reduction is not strong enough to recommend the selection of a larger pore size 

for the final layer due to the higher risk of wetting for larger pores.  

Based on the results illustrated in Figure 31 and Figure 32 it can be concluded that the support 

characteristics (e. g. pore size and porosity) of the tested membranes dominate the extent of the 

N2 permeance and thus the mass transfer in VMD. This can be attributed to the thickness of the 

support that is one magnitude higher than the thickness of the intermediate layers and the final 

layer combined.  
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4.2 Impact of Membrane Characteristics on MD Performance and Stability 

Ceramic (MD) membranes differ substantially from polymeric membranes that are utilized in MD 

processes in respect to their layer design, morphological properties, thermal conductivity and 

surface characteristics. Due to the lack of research and data on ceramic membranes in MD 

processes the optimization of ceramic membranes specifically for MD processes could not be 

conducted as goal oriented as required to make them competitive to polymeric membranes. 

Therefore, this chapter aims to use the data on membrane properties such as pore size, porosity, 

layer thickness, thermal conductivity, permeance (Table 1 and chapter 4.1) to evaluate the impact 

of those properties on the performance in DCMD and VMD. It was decided to limit MD tests to the 

DCMD and VMD configuration because these are the most popular MD configurations and 

because VMD offers the specific benefits for the performance of ceramic membranes (e.g. less 

impact of the thermal conductivity of ceramic membranes than in other MD configurations). The 

consideration of more MD configurations would exceed the scope of this work. This insight 

presented in this chapter provides impetus on the framework of the utilization of ceramic 

membranes in MD processes and indicates how to adapt and optimize ceramic (MD) membranes 

effectively.  

 

4.2.1 Impact of Membrane Properties in DCMD  

In MD processes, typically membranes with pore sizes between 100 nm to 500 nm are used to 

reduce the risk of wetting. In this pore size range, the mass transport is defined by a combination 

of Knudsen and molecular diffusion [41]. Because the effect of the molecular diffusion is constant 

for larger pore sizes and large pores are at a higher risk of being wetted than smaller pores there 

is no incentive to use pore sizes larger than 500 nm [86,91,94]. As discussed before, the mass 

transfer in MD is affected by polarization effects. For instance, the extent of the driving force 

reduction due to temperature polarization is highly dependent on the thermal conductivity of the 

membrane (ceramic membranes > polymeric membranes) and the corresponding heat transfer 

via conduction. Thus, ceramic membranes typically experience considerably higher heat and 

driving force loss in DCMD compared to polymeric membranes. The effect of the pore size, 

material selection, layer design and the thermal conductivity (indirectly) on the performance in 

DCMD is illustrated in Figure 33.  

 



 

75 

 

 

Figure 33: Permeate flux for different membranes (MO = mixed oxide support) in DCMD configuration, test conditions: 
Feed: 30 g NaCl/ kg H2O, TFeed: 60 °C, TCoolant: 20 °C, v = 0.7 m/s, a minimum of 4 tests, the error bars depict the 

confidence intervals of the respective average value 

 

None of the permeate fluxes presented in Figure 33 were affected by wetting. This was monitored 

by the electric conductivity of the coolant/permeate solution (initial value ≤ 10 µS/cm) that 

remained constant or decreased over the testing period. The highest permeate flux was 

determined for the TiO2 membranes with a pore size of 400 nm (4.2 kg/(m2 h) and the mixed 

oxides supports coated with TiO2 and ZrO2 layers (2.7 kg /(m² h) to 3.2 kg /(m² h)). The Al2O3 

membranes, the cordierite and the mixed oxide supports coated with Al2O3 membrane layers 

exhibited significant lower permeate fluxes between around 0.8 kg/(m² h) and 1.5 kg/(m² h). The 

competitiveness of the TiO2 membrane is based on the relatively large support pore size and the 

relatively low thermal conductivity of the material. As illustrated in chapter 4.1.4 the positive effect 

of larger support pore sizes is due to lower pressure drops over the support thickness. In addition, 

the partial wetting of the support (due to the large support pores, TiO2: 4.5 µm and Al2O3: 3.6 µm) 

by the cooling liquid on the permeate side in DCMD affects the mass transport. The wetting of the 

support leads to a reduction of the effective membrane thickness resulting in a reduction of the 

diffusion distance for the vapor molecules (and consequently to a decrease of the pressure drop) 

through the membranes. However, the partial or complete wetting of the support does also lead 

to a stronger impact of the membrane layer characteristics (pore size and thermal conductivity). 
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This assumption is supported by the illustrated results above showing that all but the MO supports 

coated with TiO2 membrane layers exhibited significantly higher permeate fluxes (by a factor 

between 1.2 und 1.7) for the larger final membrane layer pore size (100 nm vs 400 nm). The MO 

support coated with intermediate layers of TiO2 and a final layer of ZrO2 demonstrated permeate 

fluxes that were higher by a factor of 2.7 in comparison to a similar membrane that only differs in 

respect to the intermediate layers (Al2O3 instead of TiO2) even though these membranes exhibited 

a similar N2 permeance (Figure 32). This means that the wetting of the support results in an 

increased heat transfer via conduction subsequently causing stronger temperature polarization 

effects leading to significant driving force losses. The extent of this effect is elevated by the 

reduced mixing of the coolant/permeate liquid inside the wetted support pores and highly 

depended on the thermal conductivity of the membrane layers. This is the reason why the Al2O3 

membranes exhibited considerably lower permeate fluxes than the TiO2 membranes. The high 

thermal conductivity of the Al2O3 membrane layers overcompensate the positive effect of the 

reduced diffusion distance. It can also be stated that the effect of the thermal conductivity is 

stronger on the permeate flux than the support pore size. Therefore, those supports with relatively 

small pore sizes but with membrane layers exhibiting low thermal conductivities (MO + TiO2/ZrO2) 

showed considerably higher permeate fluxes than membrane systems with layers having higher 

thermal conductivities (MO + Al2O3, cordierite + Al2O3). In general, the support characteristics do 

not affect the permeance in DCMD significantly as can be seen by comparing membrane systems 

exhibiting different support properties (pore size and thermal conductivity) but similar permeate 

fluxes (Al2O3 vs cordierite + Al2O3, MO + Al2O3). It can be concluded that in DCMD, the asymmetric 

layer composition of ceramic membranes with large support pore sizes is only advantageous if 

the low thermal conductivities of the membrane layers prevent stronger temperature polarization 

effects caused by the reduced ‘effective’ membrane thickness. Those membranes that either 

exhibit low thermal conductivities at large support pore sizes (TiO2) or low thermal conductivities 

and high porosities (mixed oxide support + TiO2 and ZrO2 layers) performed relatively well in 

comparison with membranes with less favorable characteristics (e. g. Al2O3, Cordierite + Al2O3). 

However, the extent of each phenomenon and how they mitigate each other was not studied in 

this work and was not quantified for any of the tested membranes. 

 

4.2.2 Impact of Membrane Properties in VMD  

 As illustrated before, in VMD strong temperature polarization effects are averted by the low 

absolute pressure applied to the permeate side acting as a thermal insulation. This effect is 

particularly advantageous for ceramic membranes and partly mitigates their relatively high thermal 
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conductivities. Furthermore, the low absolute pressure also leads to the removal of inert gases 

from the pores which act as an additional barrier to the vapor molecules transported through the 

pores, making Knudsen diffusion and viscous flow the dominant mass transport mechanisms. In 

order to gain insight on how the characteristics of ceramic membranes affect the mass transport 

in VMD membranes made from Al2O3, TiO2, cordierite and mixed oxides with different layer 

compositions and pore sizes have been tested in VMD (Figure 34).  

 

 

Figure 34: Permeate fluxes (bars) for different membranes (MO = mixed oxide support) in VMD configuration and the 
corresponding salt rejection (dots), test conditions: Feed: 30 g NaCl/kg H2O, TFeed: 60 °C, TCoolant: 3 °C, v = 0.7 m/s,  
pabs: 100 mbar, minimum of 3 test, the error bars depict the confidence intervals of the respective average value 

 

The highest permeate flux was determined for the TiO2 membranes (15.7 kg/(m² h)) and 

21.7 kg/(m² h)), followed by the Al2O3 membranes at around 12.5 kg/(m² h), the mixed oxides and 

cordierite membranes respectively. This is in accordance with the N2 permeance results discussed 

in chapter 4.1.4 and in conformity with the corresponding support pore size (Table 5). In contrast 

to the results obtained in DCMD, the permeate fluxes obtained in VMD indicate that the 

characteristics of the intermediate and final membrane layers (e. g. pore size and thermal 

conductivity) only affect the mass transport of ceramic membranes in VMD significantly if the 

permeance of the support is high. The performance in VMD is mainly defined by the support 

properties. For instance, the material selection of the interlayers and final layers (Al2O3, TiO2 and 
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ZrO2) as well as the variation of the final pore size of the Al2O3 and cordierite membranes did not 

affect the extent of permeate flux significantly. Only the results obtained for the TiO2 membranes 

indicate a dependency on the pore size of the final layer. The decrease of the pore size from 

400 nm to 100 nm led to a significant decrease in permeate flux of the TiO2 membranes which is 

in accordance with the determined N2 permeances (Figure 31). As mentioned before, this possibly 

caused by combination of localized pore blockage due to the slurry coating process as well as the 

stronger impact fine membrane layers have on the mass transport of high permeance membrane 

types. For the other membrane types the decrease of the pore size of the final membrane layer 

from 400 nm to 100 nm did not cause a significant decrease of the permeate flux. Therefore, the 

selection of the final layers with a pore size of 100 nm instead of 400 nm is recommended (except 

for TiO2 membranes) to ensure pronounced hydrophobic surface characteristics and reduced risk 

of wetting. The salt rejection of the tested membranes was excellent (> 99.9 %) for all but the 

cordierite support with the 400 nm Al2O3 membrane layers (~99.5 %). This slightly reduced 

rejection can be explained by minimal infiltration of the feed into defect pores (= imperfections 

within the membrane layer) caused by the specific interaction of the 400 nm membrane coating 

and the cordierite support. In consideration of the discussed findings and the results illustrated in 

chapter 4.1.4 it can be stated that the asymmetric layer design of ceramic membranes is 

advantageous to the extent of the mass transport in VMD if the pore size of the support is 

considerably larger than 1 µm and substantial pore blockage due to the slurry coating process is 

avoided. 

 

4.2.3 The Effect of the Support Thickness in VMD and DCMD 

As shown in chapter 4.1.4 the support characteristics of ceramic membranes affect the mass 

transfer of the overall membrane considerably. This is because the support is typically by orders 

of a magnitude thicker than the membrane layers. It can be stated that the thicker the support the 

higher the mass transfer resistance, because of the longer diffusion distance the vapor molecules 

must cover to permeate the membrane. A thicker support leads to better thermal insulation 

between the feed and the permeate side of the membrane reducing the heat transfer via 

conduction and preventing significant driving force losses. But as stated before this effect is less 

pronounced in VMD. Furthermore, a thinner support leads to a steeper salinity gradient over the 

membrane in DCMD which enhances the mass transfer caused by osmotic distillation resulting in 

a dilution of the feed by pure water from the permeate side [189]. Below is the effect of the support 

thickness for TiO2 and Al2O3 membranes (pore size of the final membrane layer: 100 nm) in DCMD 

and VMD configuration depicted (Figure 35). 
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Figure 35: Permeate flux (columns) and salt rejection (dots, only VMD) for TiO2 (final pore size: 100 nm or 400 nm) and 
Al2O3 (final pore size: 100 nm) membranes with a support wall thickness of 1.5 mm and 1.0 mm in DCMD and VMD 
configuration, DCMD test conditions: Feed: 30 g NaCl/ kg H2O, TFeed: 60 °C,  
TCoolant: 20 °C, v = 0.7 m/s, VMD test conditions: Feed: 30 g NaCl/ kg H2O, TFeed: 60 °C, TCoolant (VMD): 3 °C, v = 0.7 m/s, 

pabs (VMD): 100 mbar, minimum of 3 tests, the error bars depict the confidence intervals of the respective average value 

 

Based on the decrease of the electric conductivity of the coolant/permeate liquid 

(initial value ≤ 10 µS/cm) it can be stated that none of the DCMD results illustrated in Figure 35 

were affected by wetting. The permeate flux of TiO2 and Al2O3 membranes with a final pore size 

of 100 nm and 400 nm was not considerably affected by the reduction of the support thickness 

from 1.5 mm to 1.0 mm in DCMD. As explained in chapter 4.2.1, it can be assumed that the 

positive effect of the lower diffusion distance (the result of thinner supports) was compensated by 

an increased heat transfer via conduction that subsequently led to a higher driving force loss. The 

100 nm TiO2 membranes exhibited permeate fluxes that were, by a factor from 3.7 to 4.1, higher 

than the permeate flux of the Al2O3 membranes with the same pore size. This is due to stronger 

temperature polarization effects caused by the higher thermal conductivity of Al2O3 membranes 

(by a factor of 2.3, Figure 23) and the more pronounced pressure drop due to the smaller support 

pore size of these membranes. The results clearly indicate that the negative effect caused by 

thinner support walls is stronger for membranes with relatively high thermal conductivities such as 

Al2O3 membranes. In VMD, superb rejections above 99.9 % were achieved for all membrane 

types. The reduction of the support wall thickness led to a significant increase of the permeate flux 
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for the thinner TiO2 membranes (7 % to 15 %) with a pore size of 400 nm and the thinner Al2O3 

membranes (22 %) with a pore size of 100 nm. It is apparent that the positive effect of a shorter 

diffusion distance reducing the mass transfer resistance for the vapor molecules is not entirely 

compensated for by an increased heat transfer through conduction in VMD. It is apparent, that 

thin TiO2 and Al2O3 membranes achieve similar permeate fluxes for a pore size of 100 nm. This is 

because, TiO2 membranes are stronger affected by the coating process to achieve a pore size of 

100 nm than Al2O3 membranes but also because Al2O3 membranes benefit more from the good 

thermal insulation in VMD compensating their higher thermal conductivity. 

 

4.2.4 Impact of Layer Structure and Modification in VMD  

It was shown in chapter 4.1.4 and chapter 4.2.2 that ceramic membranes shower considerably 

higher fluxes in VMD than in DCMD and that the asymmetric layer structure is beneficial for the 

mass transport in VMD. As mentioned before, the competitiveness of VMD is based on the lower 

mass transfer resistance due to the removal of inert gases from the pores as well as the averting 

of strong temperature polarization effects due to the low permeate pressure. Therefore, the 

following MD tests were limited the VMD configuration. In order to gain further insight on the 

performance of symmetrically structured ceramic membranes in VMD (in comparison with 

asymmetrically structured ceramic membranes), Al2O3 and TiO2 membranes with different layer 

designs, pore sizes, and surface modifications were tested in VMD (Figure 36). 
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Figure 36: Permeate flux (bars) and salt rejection (dots) for Al2O3 (light gray bars) and TiO2 (dark gray bars) membranes 
in dependence to the layer design, pore size, thickness (1.0 mm and 1.5 mm) and surface modification (2 wt.% HOC 
and 2 wt.% HOM) in VMD, test conditions: Feed: 30 g NaCl/ kg H2O, TFeed: 60 °C, TCoolant (VMD): 3 °C, v = 0.7 m/s,  
pabs: 100 mbar, minimum of 3 tests, the error bars depict the confidence intervals of the respective average value  

 

The permeate fluxes of symmetric and asymmetric membranes are in accordance with the N2 

permeances shown in chapter 4.1.4. The asymmetric membranes outperformed the symmetric 

membranes by a factor of around 5 for Al2O3 membranes and by a factor of around 7 for TiO2 

membranes. Due to their larger pore size the symmetric Al2O3 membranes show slightly higher 

permeate fluxes than the symmetric TiO2 membranes. Once again, these findings demonstrate 

how strongly the layer design of ceramic membranes affects the mass transfer in MD. Regarding 

the permeate flux the symmetric ceramic membranes are simply not competitive with asymmetric 

ceramic membranes in VMD. The comparatively long diffusion distances through the relatively 

small pores lead to considerably higher pressure drops and driving force losses. The decrease of 

the wall thickness for the symmetric membranes led to a slight but not significant increase in 

permeate flux for the Al2O3 membranes (same pore size). For the symmetric TiO2 membranes the 

effect of the reduction of the wall thickness was not significant and was likely offset by the decrease 

of the pore size. Furthermore, the variation of the modification agent did not lead to a significant 

change of permeate flux or rejection for any membrane type. All membrane types achieved good 

rejections above 99.75 %. 
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4.2.5 Stability of Asymmetric and Symmetric Ceramic Membranes 

Ceramic membranes are considerably more robust than most polymeric membranes. However, 

the selectivity of asymmetrically structured ceramic membranes utilized in MD processes is 

defined by the hydrophobic layer present on the surface of the final membrane layer of asymmetric 

ceramic membranes. The overall robustness of the hydrophobic surface characteristics in respect 

to the type of hydrophobic molecules bonded to the hydroxyl rich surfaces of the membrane is not 

fully known. It is possible that the hydrophobic coating constitutes a fundamental vulnerability 

limiting the usability of hydrophobic ceramic membranes to specific environments. Therefore, 

asymmetric TiO2 and Al2O3 single channel membranes with different pore sizes were modified 

using 1 wt.% of HOC or 1 wt.% HOG and characterized regarding their initial LEP. Subsequently, 

these modified membranes were either cooked in a moderate-saline and alkaline 

(50 g Na2CO3 + 50 g NaCl per kg H2O), in a neutral (pure water) or in a moderate-saline and 

acidic (135 g HCl (37 wt.%) + 50 g NaCl per kg H2O) solution for 96 hours and subsequently 

reevaluated regarding their LEP (Figure 37 and Figure 38). As stated before, HOC and HOG were 

chosen as hydrophobic agents because they were used successfully to modify hydrophilic ceramic 

membranes prior to this work but have not been characterized in respect to the stability of the 

hydrophobic coating. 

 

 

Figure 37: LEP in regard to membrane material and pore size before and after stress tests with an alkaline  
(50 g Na2CO3 + 50 g NaCl per kg H2O), neutral (pure water) and acidic solution (135 g HCl (37 wt.%) +  50 g NaCl per 
kg H2O) for 96 hours at around 100 °C, modification: 1 wt.% HOC, 2 tests per membrane type (exception: 400 nm TiO2: 
one test), the results depicted above are based on individual tests (2x per solution and membrane type) 
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Figure 38: LEP in regard to membrane material and pore size before and after stress tests with an alkaline  
(50 g Na2CO3 + 50 g NaCl per kg H2O), neutral (pure water) and acidic solution (135 g HCl (37 wt.%) + 50 g NaCl per kg 
H2O) for 96 hours at around 100 °C, modification: 1 wt.% HOG, 2 tests per membrane type, ), the results depicted above 
are based on individual tests (2x per solutions and membrane type)  

 

The initial LEPs of TiO2 and Al2O3 membranes with a pore size of 400 nm modified with HOC or 

HOG were determined at around 2.5 bar. The initial LEP for of TiO2 and Al2O3 membranes with a 

pore size of 250 nm (TiO2) or 200 nm (Al2O3) modified with HOC or HOG were determined in the 

range of 4 bar to 5+ bar (maximum LEP that could be determined was 5 bar). Both hydrophobic 

agents achieved LEPs in the same range technically enabling asymmetric Al2O3 and TiO2 with 

pore sizes between 200 nm and 400 nm to be utilized in MD processes (2.5 bar is recommended 

as the minimal LEP by the literature). The LEP of most of the membranes that were cooked using 

pure water (neutral solution) was not considerably affected (white and green bars). Some 

membranes showed a moderate incline in LEP after the treatment with the hot neutral solution 

(bars with a green top). The incline of the LEP after the treatment with the neutral solution is 

related to the way the silane agent is bonded with the membrane surface. Some of the silane 

molecules are chemically bonded to the ceramic surface via metal-siloxane bonds (Ti-O-Si or Al-

O-Si) while the others are physiosorbed to the surface. The chemically bonded silanes have the 

ideal orientation as the hydrophobic alkyl chains are perpendicular to the surface while the 

physiosorbed silanes can exhibit different orientations. After the cooking of the membranes in the 

neutral solution the physiosorbed layer was possibly removed leading to the uncovering of the 

chemisorbed layer resulting in a slightly increased LEP.   

The treatment with the hot saline and alkaline solution led to a moderate decline of the LEP (up to 

40 % for HOC modified membranes and up to 42 % for HOG modified membranes) of all 
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membrane types except for the Al2O3 membrane (pore size of 200 nm) modified with HOC. This 

indicates a similarly pronounced stability of HOC and HOG modified surfaces against hot saline 

and alkaline solutions. The degeneration of the LEP is caused by the break-up of the Si-O-M 

bonds due to high availability of hydroxyl groups.   

None of the asymmetric membranes modified with HOC could withstand the contact with the hot 

saline and acidic solution resulting in the decline of the LEP below 1.3 bar (decline of 64 % and 

84 %) making them unsuitable for the use in MD processes. The Al2O3 membranes modified with 

HOG showed a similar vulnerability (decline of the LEP between 58 % and 80 %) towards the hot 

saline and acidic environment as the Al2O3 membranes modified with HOC. The degeneration of 

the LEP is caused by the break-up of the Si-O-M bonds due to high availability of hydronium 

groups at the pH of 0. Unexpectedly, the LEP of the TiO2 membranes modified with HOG was 

affected by the treatment with the hot saline and acidic solution indicating that TiO2 membranes 

modified with HOG could potentially be successfully utilized in acidic environments. One possible 

explanation of this observation is that the type of hydrophobic layer formed on the TiO2 surface 

using HOG instead of HOC is more effective in shielding the membrane surface from the reactive 

groups despite similar CA and LEP values.  

Even though the homogenic layer structure of symmetric ceramic membranes is not beneficial to 

the mass transport in MD (as was shown in chapter 4.1.4 and chapter 4.2.4) it could enable the 

treatment of highly aggressive environments that are too extreme for asymmetric ceramic 

membranes. This is because, the selectivity of symmetrically structured ceramic membranes is 

not depended on the integrity of a thin ‘final’ membrane layer coated on a support structure (as is 

the case for asymmetric membranes) but is prevalent over the whole cross-sectional area of the 

membrane. To study the potential benefits of modified symmetric ceramic membranes in respect 

to their stability towards extreme environments a variety of symmetric and asymmetric TiO2 and 

Al2O3 membranes modified with 2 wt.% of HOC and 2 wt. of HOM were cooked in a highly saline 

and alkaline, highly saline (neutral) and highly saline and acidic solution for 96 hours. The LEP of 

the tested membranes before and after the treatment with the saline and alkaline solution is 

illustrated in Figure 39. 
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Figure 39: LEP in regard to membrane material (Al2O3: light gray bars and TiO2: dark gray bars), layer design, pore 
size, thickness (1.0 ,mm and 1.5 mm) and surface modification (2 wt.% HOC and 2 wt.% HOM) before and after stress 
tests using an alkaline and saline solution (96 hours, 100 °C, 250 g NaCl + 50 g Na2CO3 per kg H2O), minimum of 3 

tests, the error bars depict the confidence intervals of the respective average value 

 

The treatment using the alkaline solution containing high concentrations of NaCl did not 

significantly affect the LEP of the symmetric Al2O3 membranes and the asymmetric Al2O3 

membrane modified with 2 wt.% HOC. The asymmetric Al2O3 membrane modified with 2 wt.% 

showed a slight decline of LEP (15 %) in comparison of the initial LEP. Except for the symmetric 

TiO2 membrane with a thickness of 1.5 mm modified by the non-fluorinated agent (2 wt.% HOM) 

and the asymmetric TiO2 modified with 2 wt.% HOC the LEP did not change significantly for any 

membrane after the treatment with the hot alkaline and saline solution. The strongest decline in 

LEP was determined for the asymmetric TiO2 membrane modified with HOC (~ 30 %) which also 

exhibited the highest initial LEP at around 4.7 bar. It can be concluded that the symmetric TiO2 

and Al2O3 membranes are stable towards the hot alkaline and hypersaline solution. The stability 

of the asymmetric Al2O3 membranes is sufficient as well but the final pore size should be chosen 

to be smaller than 0.4 µm to ensure a high enough initial LEP. The stability of the asymmetric TiO2 

membranes is not sufficient for an application in environments characterized by extreme low pH, 

hot temperatures and high concentrations of NaCl values. The effect of a hot and highly saline 

solution (250 g NaCl per kg H2O, pH = 7) on the LEP of symmetric and asymmetric ceramic 

membranes is shown in Figure 40. 
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Figure 40: LEP in regard to membrane material (Al2O3: light gray bars and TiO2: dark gray bars), layer design, pore 
size, thickness (1.0 mm and 1.5 mm) and surface modification (2 wt.% HOC and 2 wt.% HOM)  before and after stress 
tests using a hot saline solution (96 hours, 100 °C, 250 g NaCl per kg H2O), minimum of 3 tests, the error bars depict 
the confidence intervals of the respective average value 

 

The LEP of the symmetric and asymmetric Al2O3 membranes was not significantly affected by the 

treatment with the hot saline solution at a neutral pH value. The same applies to the asymmetric 

TiO2 membranes that did not exhibit significantly different LEP after the stability test. The non-

fluorinated and the fluorinated modification showed the same stability towards the hot saline 

solution. However, after the treatment with the hot solution all symmetric TiO2 membranes 

exhibited a LEP higher than 5 bar regardless of the modification agent. This indicates a better 

exposure of the well bonded and favorably oriented chemisorbed layer of the hydrophobic chains 

of the silanes due of the treatment with the hot and saline solution. The LEP of symmetrically and 

asymmetrically structured ceramic membranes modified with 2 wt.% HOC and 2 wt.% HOM before 

and after the treatment with the hot saline and acidic solution is shown in Figure 41. 
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Figure 41: LEP in regard to membrane material (Al2O3: light gray bars and TiO2: dark gray bars), layer design, pore 
size, thickness (1.0 mm and 1.5 mm) and surface modification (2 wt.% HOC and 2 wt.% HOM) before and after stress 
tests using an acidic and saline solution (96 hours, 100 °C, 250 g NaCl + 1 kg HCl (5 wt.%) minimum of 3 tests, the 

error bars depict the confidence intervals of the respective average value 

 

Except for the symmetric Al2O3 and TiO2 membranes (1.5 mm and 1.0 mm) modified with 2 wt.% 

HOC no other membrane type has shown sufficient stability towards the hot saline and acidic 

environment. All other membrane types exhibited a LEP of ≤ 1 bar after the treatment with the 

acidic solution accounting for a reduction of the LEP of up to 80 %. As mentioned before, one 

reason for the good stability of HOC modified TiO2 membranes is the effective shielding of the 

membrane surface from aggressive components in aqueous solutions due to the well pronounced 

hydrophobicity because of the low dipole of the fluorinated agent. However, the stability of the 

symmetric ceramic membranes is not just based on the modification with fluorinated hydrophobic 

agent (HOC) since the asymmetric ceramic membranes modified with HOC show a considerable 

reduction in LEP for both material groups. Symmetric Al2O3 membranes modified with HOC 

exhibited a higher initial LEP than the symmetric TiO2 membranes despite considerably larger 

pores. Therefore, the surface modification using the fluorinated agent is more effective for 

symmetric Al2O3 membranes than for their TiO2 counterparts. This could be the result of the higher 

number of hydroxyl groups present on the Al2O3 surface in comparison with the TiO2 surface. 

Beside chemically or thermally aggressive media, abrasive solutions can damage the integrity of 

membranes permanently. Mechanical damage caused by abrasion or scaling due to forming 

crystals in highly saline solutions can lead to the rapid degradation of membranes. So far only the 
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mechanical degeneration of polymeric membranes due to high salt concentrations has been 

studied [32,33]. Due the low thickness the final layer of any asymmetric ceramic membranes could 

also be vulnerable to mechanical damages that could potentially compromise the selectivity of the 

whole membrane. Therefore, the sensitivity of symmetric and asymmetric ceramic membranes 

towards mechanically aggressive solutions was studied in the scope of this work. A highly 

concentrated suspension with the composition of a synthetic potassium mining wastewater  

(38.48 g MgSO4 + 284.50 g MgCl2 + 69.98 g NaCl + 54.13 g KCl per kg H2O, supplied by  

K-UTEC AG Salt Technologies) at the saturation limit was flown through modified symmetric and 

asymmetric Al2O3 and TiO2 membranes for up to 56 hours (discontinuous, 7 days x 8 h). The effect 

on the initial LEP of Al2O3 and TiO2 membranes can be seen in Figure 42.  

 

 

Figure 42: LEP of symmetric and asymmetric Al2O3 and TiO2 membranes modified with 2 wt.% HOC in regard to the 
pore size before and after a abrasion test for 7 hours and 56 hours (discontinuously: 7 days x 8 h), test conditions:  
Feed: 38.48 g MgSO4 + 284.50 MgCl2 + 69.98 g NaCl + 54.13 g KCl per kg H2O, TFeed: ambient temperature, p: ambient 
pressure, v = 0.73 m/s (the LEP of the same membrane determined before and after the abrasion tests, minimum of 3 

tests, the error bars depict the confidence intervals of the respective average value 

 

The mechanical strain caused by the highly saline and abrasive solution did not lead to the 

detection of significantly reduced post-abrasion LEP for any membrane type. This observation 

applies to a contact time of 7 hours and 56 hours. Since the maximum LEP that could be 
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determined via the LEP test rig was 6.1 bar and the initial and post abrasion LEPs were all either 

6.1 bar or above no unambiguous statement for the asymmetric TiO2 membranes can be made. 

While symmetric TiO2 membranes exhibited a slight increase or constant LEP subsequently to the 

abrasion tests the symmetric and asymmetric Al2O3 membranes showed the trend of a slightly 

declining LEP with increasing testing time. The observation made for the Al2O3 membranes 

indicates that the time frame of the test was simply too short and should be extended considerably 

to study the impact of abrasive solution in respect to the layer structure and integrity of modified 

asymmetric ceramic membranes.  

 

4.3 Impact of Process Parameters in VMD Using Ceramic Membranes to Treat 

Synthetic and Real Solutions  

Beside the characteristics of the membranes utilized in MD, the operational parameters define the 

efficiency of the process. Therefore, it is highly recommended to adjust the process parameters 

in accordance with the membrane characteristics, the feed properties and application targets. This 

includes the feed temperature, feed flow velocity and the absolute pressure on the permeate side 

in order to adjust the driving force and to moderate polarization effects. This chapter illustrates 

and discusses data on the impact of operational parameters on the performance of tubular Al2O3 

and TiO2 membranes in VMD treating high salinity NaCl solutions. Additionally, a synthetic 

leachate from the potassium mining industry (chapter 4.3.4) as well as a real RO concentrate from 

the dairy industry (chapter 4.3.5) was treated in VMD in consideration of process parameters such 

as the flow velocity and the permeate pressure. Exclusively VMD tests were conducted to research 

the impact of process parameters. This is because ceramic membranes benefit from the low 

absolute pressure on the permeate side in VMD (moderating the relatively high thermal 

conductivities) and the smaller mass transfer resistance due to the removal of inert gases from 

the membrane pores (chapter 4.2.1 to chapter 4.2.3). The VMD tests were limited to 

asymmetrically structured membranes because their characteristics are favorable in respect to 

the mass transport due to the large support pores (chapter 4.2.4).  

 

4.3.1 Impact of the Feed Temperature and Permeate Pressure in VMD 

The driving force in VMD is proportional to the feed temperature and absolute pressure on the 

permeate side. Temperature polarization effects that dampen the driving force are considered to 

be moderate due to the good thermal insulation imposed by the low absolute pressure on the 
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permeate side and are dependent on the membrane characteristics and other operational 

parameters such as the feed flow velocity and the feed salinity. The feed temperature is one of 

the most important process parameters due its exponential relationship between the partial water 

vapor pressure. To understand the relationship between the feed temperature, permeate pressure 

and permeate flux using ceramic membranes, asymmetric Al2O3 and TiO2 membranes were tested 

in VMD in respect to feed the temperature ranging from 55 °C to 75 °C in dependency of the 

permeate pressure (range from 125 mbar to 75 mbar) using a highly concentrated feed (Figure 

43).  

 

 

Figure 43: Permeate flux (bars) and rejection (dots) of Al2O3 and TiO2 membranes (final pore size: 100 nm) in 
dependency of the feed temperature and permeate pressure, test conditions: Feed: 350 g NaCl/kg H2O, TCoolant: 0 °C, 

v = 1.08 m/s; minimum of 3 tests, the error bars depict the confidence intervals of the respective average value 

 

Both membrane types showed an excellent selectivity by facilitating salt rejections greater than 

99.9 %. This is remarkable since the salt concentration of the feed was close to the saturation 

point with 350 g NaCl per kg H2O. The permeate fluxes determined for the TiO2 membranes were 

about 50 % to 120 % higher (maximum permeate flux: 36.3 kg/(m² h)) than the permeate fluxes 

measured for the Al2O3 membrane (maximum permeate flux: 18.3 kg/(m² h)). This was not 

expected since the N2 permeance for both membrane types (final pore size of 100 nm) only varied 

by around 20 % (Figure 31). Since the TiO2 membrane became more competitive with the Al2O3 
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membrane (in respect to the permeate flux) with increasing feed temperatures it can be argued 

that the thermal conductivity of the membranes is not neglectable (differs by a factor of 2.5, chapter 

4.1.1) in VMD. While the latent heat transfer is limited by the mass of the vapor transported, the 

heat transferred through conduction is not limited and highly dependent on the thermal 

conductivity of the membrane. It can be assumed that temperature polarization effects are more 

pronounced for Al2O3 membranes than for TiO2 membranes resulting in reduced driving forces. 

For each membrane type a moderate and near linear increase of permeate flux with decreasing 

permeate pressures from 125 mbar to 75 mbar was determined. The increase of the feed 

temperatures from 55 °C to 65 °C led to a stronger incline in permeate flux (factor: 2.9 to 10.6) of 

the Al2O3 membrane than the further increase of the feed temperature to 75 °C (factor 1.7 to 2.4). 

Although the same behavior can be observed for TiO2 membranes the effect is less pronounced. 

This can be explained with the lower thermal conductivity of the TiO2 membranes that moderates 

stronger temperature polarization more effectively at higher feed temperatures.  

 

4.3.2 Impact of the Feed Flow Velocity in VMD  

In general, polarization effects are the major limiting factor of MD processes and are an obstacle 

for the use of ceramic membranes in MD due to their relatively high thermal conductivities. As 

mentioned before, the interfaces of a membrane utilized in MD is characterized by increased 

salinities due to the extraction of pure water as well as by reduced temperatures on the feed side 

and elevated temperatures on the permeate side due to the overall heat transported. This affects 

the actual driving force of the process considerably. The moderation of polarization effects and 

their limiting impact on the driving force can be achieved by adapting the feed flow in respect to 

the MD configuration, operational parameters such as feed salinity and temperature as well as to 

the membrane type has been widely proposed. Therefore, the effect of the flow velocity on the 

performance of Al2O3 and TiO2 membranes, treating a highly concentrated feed with different 

temperatures in VMD, was studied (Figure 44 and Figure 45).  
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Figure 44: Permeate flux (bars) and rejection (dots) of an Al2O3 membrane (final pore size: 100 nm) in dependency of 
the flow velocity, feed temperature and NaCl concentration, test conditions: pabs: 100 mbar, TCoolant: 0 °C; minimum of 3 
tests, the error bars depict the confidence intervals of the respective average value  

 

The permeate flux decreased by a factor between 1.2 and 2.9 with the increase of the NaCl 

concentration from 150 g NaCl per kg H2O to 350 g NaCl per kg H2O. The increase of the salt 

concentration led to a decline of the water activity resulting in lower partial vapor pressure and 

reduced driving forces. Moreover, the changing of hydrodynamic conditions such as the viscosity, 

density and heat capacity led to a significant decline in heat transfer from the bulk stream of the 

feed to the interface of the membrane. This explains why the reduction of the permeate flux was 

stronger for lower feed temperatures (55 °C: factor from 1.6 to 2.9) than for higher feed 

temperatures (75 °C: factor from 1.3 to 1.6). The increase of the feed flow velocity led to an 

increase in permeate flux for all feed temperatures and feed concentrations but was slightly more 

pronounced for higher temperatures. The increase of the feed flow velocity causes increased 

turbulence at the membrane interface reducing the boundary layer characterized by temperature 

and concentration polarization. The relationship between the flow velocity, feed temperature and 

permeate flux is the same for both feed concentrations. The positive impact of the increased flow 

velocity is stronger for higher temperatures. This is because temperature polarization becomes 

more pronounced at higher feed temperatures increasing the positive effect of stronger turbulence 

at the membrane interface. It can be concluded that the adaptation of the feed flow velocity 

towards turbulent flow conditions using Al2O3 membranes in VMD, becomes more important at 
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higher feed temperatures whereas lower feed temperature may allow laminar flow conditions 

(< 0.3 m/s). For all tests excellent rejections above 99.9 % were determined.  

 

 

Figure 45: Permeate flux (bars) and rejection (dots) of an TiO2 membrane (final pore size: 100 nm) in dependency of 
the flow velocity and feed temperature test conditions: Feed: 350 g NaCl per kg H2O, pabs: 100 mbar, TCoolant: 0 °C; 
minimum of 3 tests, the error bars depict the confidence intervals of the respective average value  

 

The TiO2 membrane showed excellent rejections above 99.99 % for all tests conducted. The 

permeate fluxes were by a factor between 1.4 and 2.5 higher than the permeate fluxes of the Al2O3 

membrane for the respective set of operational parameters using a feed concentration of  

350 g NaCl per kg H2O. The competitiveness of the TiO2 membrane is based on the lower thermal 

conductivity and the slightly larger pore size of the support. However, the support pore size is by 

comparison of subordinate importance since it was shown that the N2 flux for the two membrane 

types only differed by a factor of around 1.2 (chapter 4.1.4). Just like the Al2O3 membrane, the 

TiO2 membrane demonstrated increasing permeate fluxes for increasing flow velocities. The 

incline of permeate flux over the flow velocity is significant for a feed temperature of 65 °C and 

75 °C and was similarly pronounced for all feed temperatures. This observation is different to what 

was observed using Al2O3 membranes that showed a stronger dependency between feed 

temperature and flow velocity at higher temperatures because of the higher thermal conductivity. 

However, despite the considerably lower thermal conductivity of the TiO2 membrane, the 

facilitation of a highly turbulent flow regime (𝑣 > 1 m/s) at high feed temperatures and high feed 



 

94 

 

concentrations is imperative. For lower feed temperatures (55 °C) the increase of the flow velocity 

from 0.36 m/s to 1.08 m/s did not affect the permeate flux indicating that a turbulent flow regime 

in the lower spectrum (~ 0.3 m/s) is sufficient for low feed temperatures. Beside the permeate flux 

the energy (thermal) efficiency is a relevant performance indicator for membranes applied to 

thermally driven lab-scale processes such as MD processes. As illustrated by Eq. 6 this parameter 

reflects how much of the heat that is transferred during the process is latent heat due to the vapor 

flux in relation to the heat transported through conduction. The energy efficiency is dependent on 

membrane characteristics such as the thermal conductivity, the MD configuration and process 

parameters. An ideal energy efficiency would result in a value of unity leading to the use of around 

750 kWhth of energy to vaporize 1 m³ of water (single stage process). To determine the energy 

efficiency in accordance with the respective tests illustrated in Figure 43 the heat loss of the feed 

between the module inlet and outlet was recorded. Based on the data presented in Figure 44 and 

Figure 45 the overall heat transfer, latent heat, heat transport via conduction and subsequently 

the energy efficiency was calculated for the Al2O3 and TiO2 membrane in respect to the flow 

velocity and feed temperature (Figure 46). 

 

 

Figure 46: Energy (thermal) efficiency (unity is the maximum value possible) of Al2O3 and TiO2 membranes (final pore 
size: 100 nm) in dependency of the flow velocity and feed temperature, test conditions: Feed: 350 g NaCl/kg H2O, 
TCoolant: 0 °C, pabs: 100 mbar; minimum of 3 tests, the error bars depict the confidence intervals of the respective average 

value 
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For a single stage process the maximum (best) value that can be achieved for the energy 

efficiency is unity. This would indicate that all the heat that was removed from the feed was heat 

related to the vapor transport. The strongly pulsating peristaltic feed pump used for the test led to 

considerable variations in feed flow volume over the testing period resulting in strong variations of 

the measured temperatures of the feed before and after the membrane module. This resulted in 

wide error margins and in a possible over- or underestimation of the determined energy 

efficiencies. Therefore, the illustrated energy efficiencies must be considered with caution. 

Keeping that in mind, it can be stated that the energy efficiency for both membranes is very low 

(< 0.2) for feed temperatures of 65 °C and below at for feed flow velocities of 0.36 m/s and lower. 

While both membrane types showed increasing energy efficiencies with increasing feed 

temperatures at a low feed flow velocity (0.14 m/s) due to the increased impact of heat conduction, 

both membrane types showed improved energy efficiencies at higher feed temperatures at 

turbulent feed flow rates (0.36 m/s and 1.08 m/s). This means that the permeate flux of both 

membrane types increased disproportionally in comparison with the heat transferred via 

conduction in turbulent feed flow regimes. This trend was more pronounced for the TiO2 

membrane. The TiO2 membrane moderated the heat transfer processes due to conduction at high 

feed temperatures (moderating temperature polarization) more effectively than the Al2O3 

membrane due to its lower thermal conductivity (Figure 23). Therefore, in respect to the energy 

efficiency it does not make a difference whether a Al2O3 or TiO2 membrane is utilized in low to 

medium hot environments, but it is highly recommended to use a TiO2 membrane for feed solution 

that are hotter than 60 °C. In addition, the facilitation of a turbulent feed flow regime is beneficial 

for all feed temperatures and both membrane types.  

 

4.3.3 Impact of the Salt Concentration in VMD 

As mentioned before, conventional desalination processes are not suitable for the treatment of 

highly concentrated salt solutions due to limitations imposed by the osmotic pressure and 

corrosion effects. Membrane Distillation is believed to be able to overcome these limitations and 

enable the water extraction from saline solutions up to the saturation point. However, state of the 

art polymeric membranes utilized in MD (for instance thin PTFE foil on PP backing structure) may 

be too fragile to cope with abrasive solutions. Due to their mechanical stability, ceramic 

membranes could pose an attractive alternative for the further concentration of highly saline 

solutions up to the saturation point and enable zero-liquid-discharge applications. TiO2 

membranes with a final pore size from 100 nm to 400 nm were applied in VMD for the treatment 
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of moderate and highly saline solutions to study their performance in respect to increasing salt 

concentrations (Figure 47).  

 

 

Figure 47: Permeate flux (bars) of TiO2 membranes in dependency of the membrane pore size (final pore size: 100 nm, 
250 nm and 400 nm) and feed concentration; test conditions: TFeed: 60 °C, pabs: 100 mbar, TCoolant: 0 °C; v = 0.72 m/s, 
minimum of 4 tests, the error bars depict the confidence intervals of the respective average value  

 

The permeate quality was excellent with salt rejections determined above 99.99 % for all feed 

concentrations and all membrane pore sizes. The TiO2 membranes exhibited permeate fluxes 

between 18 kg/(m² h) at a pore size of 100 nm and 21 kg/(m² h) at a pore size of 400 nm for a salt 

concentration of 30 g NaCl per kg H2O (~seawater salt concentration). When the NaCl 

concentration of the feed solutions was increased by a factor of three to 90 g NaCl per kg H2O 

(only viable for high pressure reverse osmosis) the permeate flux declined between 7 % and 15 %. 

By further increasing the salinity to 270 g NaCl per kg H2O the permeate flux decreased by another 

33 % to 41 % leading to a minimum permeate flux of 10 kg/(m² h) for a membrane pore size of 

100 nm and 13.2 kg/(m² h) at membrane pore size of 400 nm. As mentioned before, the impact of 

the final pore size of asymmetric ceramic membranes that are used in VMD processes is limited. 

It is highly recommended to choose the smaller pore size for the treatment of saline solutions in 

VMD. The increasing salt concentration in the feed affects the driving force in two ways. Firstly, 

the dissolved salts in the feed lowers the water activity which causes a reduction of the partial 
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vapor pressure. The impact of this effect on the permeate flux is moderate. This becomes apparent 

if the water activity is calculated (Eq. 23 [153] (chapter 2.5.1)) for the tested NaCl solutions. The 

increase of the salinity from 30 g NaCl per kg H2O to 90 g NaCl per kg H2O leads to a decrease 

of the water activity by 3.5 % whereas the further increase of the salinity from 90 g NaCl per kg 

H2O to 270 g NaCl per kg H2O causes an additional reduction of water activity of 13 %. Therefore, 

the reduction of the permeate flux is more than twice as sharp as could be expected from the 

change of water activity. The second factor that led to a reduction of the driving force is the change 

of the hydrodynamic conditions of the feed solutions with increasing salinities. This results in a 

reduced heat transfer from the bulk solution of the feed to the membrane interface causing more 

pronounced temperature polarization effects. For instance, the increase of the salinity from 30 g 

per kg H2O to 90 g NaCl per kg H2O causes a reduction of the thermal conductivity of the feed by 

~10 % [190]. However, this effect can be moderated by adjusting the feed flow velocity (increase 

of turbulence results in a better mixing of the feed) in respect to the salinity levels of the feed. The 

results shown in Figure 47 and chapter 4.3.2 illustrate that despite high feed salinities relatively 

high permeate fluxes can be achieved if the feed flow velocity is adjusted accordingly. To study 

the performance of asymmetrically structured ceramic membranes in respect to increasing 

salinities a highly concentrated feed solution (200 g NaCl per kg H2O) was further concentrated 

approaching the saturation point using a Al2O3 membrane (pore size: 100 nm) in VMD (Figure 48). 

 

 

Figure 48: Permeate flux (blue dots) and energy efficiency (yellow) of an Al2O3 membrane (final pore size: 100 nm) in 
dependency to the salt concentration (initial: 200 g NaCl per kg H2O, end: saturation point: ~375 g NaCl per kg H2O at 
the given feed temperature); pabs: 100 mbar, TCoolant: 2 °C; v = 0.72 m/s, TFeed: 70 °C, continuous testing over 24 hours  
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The permeate quality was excellent with rejections determined above 99.99 % for all feed 

concentrations. The rejection for the last point of measurement could not be quantified due to the 

small amount of permeate produced at that feed concentration. At the initial feed salinity of around 

200 g NaCl per kg H2O a maximum permeate flux of 14.8 kg/(m² h) was determined. With 

increasing feed salinity (the permeate was discarded) approaching the saturation point of NaCl 

solutions at 70 °C (marked by the red dot) the permeate flux decreased by around 23 %. Up to 

this point the moderate reduction of permeate flux can be attributed to the lower water activity and 

the impaired heat transfer with increasing salinities. Even at high concentrations with feed 

salinities nearing the saturation point permeate fluxes of 10 kg/(m² h) and above were determined. 

Near the saturation point (~240 mS/cm / 375 g NaCl per kg H2O) crystallization at the membrane 

interface occurred which led to a rapid but reversible decline of the permeate flux (at the given 

feed flow velocity of 0.72 m/s) to near zero within 4 hours. This leads to the conclusion that ceramic 

membranes are suited for the treatment of highly saline solutions (even close to the saturation 

point) if crystallization is avoided. The initial energy efficiency of the Al2O3 was determined at 78 % 

for an initial feed concentration of 200 g NaCl per kg H2O. The energy efficiency displays a similar 

dependency in respect to the increasing salinity as the permeate flux. This does not come as a 

surprise since the latent heat is proportional to the vapor flux which in return is highly dependent 

on the salinity of the feed. The more vapor is being transported, the better the energy efficiency 

provided that the heat transfer through conduction is not affected proportionally. 

 

4.3.4 Treatment of a Highly Saline Leachate Using Ceramic Membranes in VMD 

Leachates from the mining industry can severely affect the quality of the receiving water bodies. 

A prominent example is the contamination of the River Werra in Germany with highly saline 

leachates from the potassium mining industry [191]. Ceramic membranes utilized in VMD could 

enable the treatment of highly saline leachates and contribute to prevent the pollution of natural 

water bodies caused by insufficiently treated mining waste waters. To evaluate the performance 

of ceramic membranes in this environment, a synthetic saline solution close to saturation point 

was created with the same composition as a real leachate from the potassium mining industry and 

further concentrated using a single channel asymmetric Al2O3 membrane (Figure 49). 
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Figure 49: Permeate flux (light grey bars) and energy efficiency (dark grey bars) of an Al2O3 membrane (final pore size: 
100 nm) in dependency of the flow velocity and permeate pressure; test conditions:  
Feed: 38.48 g MgSO4 + 284.50 g MgCl2 + 69.98 g NaCl + 54.13 g KCl per kg H2O, TFeed: 75 °C, TCoolant: 15 °C; minimum 
of 3 tests, the error bars depict the confidence intervals of the respective average value, fresh water extracted was 
poured back into the feed container after each test  

 

Based on the composition and temperature of the feed (75 °C), 0.055 kg H2O per kg mixtures can 

theoretically be extracted from the feed until the saturation point is reached and crystallization can 

occur. The permeate extracted from the highly saline leachate using a Al2O3 membrane in VMD 

showed excellent permeate qualities with electric conductivities below 15 µS/cm in all tests. 

Despite using a near saturated saline feed, permeate fluxes of up to 17.5 kg/(m² h) were 

determined. The minimum permeate flux determined was around 10 kg/(m² h) for a permeate 

pressure of 125 mbar and feed flow velocity of 0.14 m/s (laminar region). This means that even at 

relatively high permeate pressures and low feed flow velocities adequate permeate quantities can 

be produced if high feed temperatures (in the case of this study: 75 °C) can be applied to the 

process. The permeate flux significantly declined (~25 %) when the permeate pressure was 

increased from 75 mbar to 125 mbar for both feed flow velocities. The decline in permeate flux 

was not as pronounced as could be expected from the theoretical reduction of the driving force in 

respect to the increase of the permeate pressure. The increase of the feed flow velocity from 

laminar to turbulent flow conditions led to a significant increase in permeate flux (~45 %) due to 

the partly compensation of polarization effects. The extent of this effect was the same for both 
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permeate pressures. The best energy efficiency was determined for a flow velocity of 1.08 m/s 

and a permeate pressure of 75 mbar at 60.1 %. This was achieved by moderating the polarization 

effects with an increased turbulence at the membrane interface and the improved thermal 

insulation imposed by the low pressure. However, in consideration of this value, more than 

1000 kWh of energy would still be required to produce 1 m³ of permeate (ideal value is ~750 kWh 

per m³ for a single stage process). The energy efficiency showed the same behavior as the 

permeate flux in respect to the flow velocity and permeate pressure and was determined to be as 

low as 25 % for a feed flow velocity of 0.14 m/s and a permeate pressure of 125 mbar. If high feed 

temperatures are applied in VMD, the adaptation of the feed flow velocity and permeate pressure 

should be adjusted accordingly. Additionally, the use of ceramic materials with relatively low 

thermal conductivity is recommended. 

 

4.3.5 Treatment of a RO Concentrate from the Dairy Industry Using Ceramic 

Membranes in VMD 

Despite the decline of the number of publications on MD processes treating food processing waste 

waters as illustrated in the introduction section the industry offers an interesting spectrum of saline 

waste waters that could be further concentrated via MD processes maximizing freshwater 

extraction and enabling resource recovery. The potential utilization of waste heat accruing during 

food processing could render any MD process even more attractive. To evaluate the suitability of 

ceramic membranes applied to MD processes to treat food processing waste waters, a regional 

producer of dairy products has provided a real mixture generated during his manufacturing 

process for this study. This real solution is a RO concentrate composed of around 35 g salts 

(containing the following ions: Na+, Cl-, K+, Mg2+, 𝑃𝑂4
3−, detailed composition was not further 

specified by producer) and 10 g organic substances (mainly humic substances, detailed 

composition was not further specified by producer) with an electric conductivity of 43.8 mS/cm. 

The solution was treated using a Al2O3 and TiO2 membrane with a final pore size of 100 nm in 

VMD (Figure 50).  

 



 

101 

 

 

Figure 50: Permeate flux (diamond shapes) and salt rejection (circles) in respect to the testing time (cumulative testing 
period, permeate was poured back into the feed container) test conditions: Feed: ~35 g salts (NaCl, K, Mg2 and P) + 
~10 g humic substances per kg H2O, TFeed: 60 °C, pabs: 100 mbar, TCoolant: 0 °C; v = 0.72 m/s, the permeate was poured 
back into the feed container 

 

The first test series was conducted using a Al2O3 membrane without pretreating the saline feed 

containing organic matter (responsible for the yellow coloration of the feed). The rejection 

determined from permeate samples was excellent (> 99.99 %) with permeate qualities between 

10 µS/cm and 50 µS/cm. The permeate flux was in the range between 11.8 kg/(m² h) and 

13.2 kg/(m² h) for the first 5 hours of the testing period and declined over a period of 18 hours to 

almost zero indicating severe pore blocking. At this point, the little amount of permeate produced 

did not allow the measurement of the electric conductivity of the permeate anymore. The strong 

decline of the permeate flux can be attributed to fouling processes. Fouling can affect membrane 

performance in different ways, for instance, through increase of temperature polarization due to 

an increased thermal resistance, decrease of the active membrane area as well as increased 

diffusion distances [192]. The exact composition of the feed mixture is not known but considered 

to be diverse allowing different mechanisms of fouling to occur that cannot be determined in the 

scope of this study. Each component of a highly complex dairy product solution uniquely interacts 

with the membrane surface and unique interactions with other components of the feed solution 

including absorbed solutes are to be expected as well [193–196]. Because humic substances can 

exhibit different properties the binding to the hydrophobic surface as well as complex formation 
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can also not be disqualified. After the first test series the Al2O3 membrane was backwashed at a 

pressure above the LEP for about 30 min and then dried in an oven at 120 °C for approximately 

16 hours. This membrane was used for the second test series (light blue diamond shapes) which 

showed a good initial permeate around the same values as the initial flux determined for the first 

test series. After 90 minutes testing time the permeate flux declined rapidly and the test was 

aborted. It can be concluded that the cleaning of the membrane did free the pores from the 

blockage caused by the fouling but did not remove the fouling layer from the rest of the membrane 

surface. Guillen et al. 2014 [197] stated that backwashing is the most popular fouling mitigation 

method but may not be as effective as required. This caused the pore blockage to arise relatively 

quickly again after starting the VMD test. The third test series (dark blue diamond shapes) was 

done with the same membrane (after backwashing) on a pretreated feed solution using a TiO2 UF 

membrane with a pore size of 5 nm. The backwash and the pretreatment did not increase the 

performance and only strongly reduced permeate fluxes could be determined indicating that the 

membrane properties were not sufficiently restored by the backwashing and drying procedure. 

Another test series was conducted using a TiO2 membrane with a pore size of 100 nm (green 

diamond shapes). For this test series the feed was also pretreated using a 5 nm TiO2 membrane. 

The UF filtration did not change the coloration of the feed and resulted in a decline of electric 

conductivity of around 3 %. Considering this and the size range of humic substances (4.7 nm to 

33 nm [198]) it is very likely that most humic molecules are still present in the feed solution. As 

can be seen in Figure 50 the initial permeate flux of the TiO2 membrane was determined to be 

around 16 kg/(m² h) and remained relatively stable around that value for five hours. As stated 

before, the higher permeate flux (in comparison with the Al2O3 membrane) is mostly based on the 

larger support pore size and lower thermal conductivity of the TiO2 membrane. After five hours the 

permeate flux started to decline over a period of nearly 20 hours to around 10 kg/(m2 h) indicating 

a slower fouling processes as present for the Al2O3 membrane. Either the humic substances react 

differently with the material of the TiO2 membrane resulting in lower fouling processes or the Al2O3 

membrane used for the test series one to three was already too affected by the fouling process 

that the potential positive impact of the pretreatment of the feed was not shown by the third test 

series.  
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4.4 Mass Transfer Modelling Through Asymmetric Ceramic Membranes 

In this chapter, experimentally determined permeate fluxes of TiO2 membranes were used to 

assess the validation of the generally accepted VMD mass transfer model (based on the DGM 

described in chapter 2.5) for asymmetric ceramic membranes. Furthermore, deficiencies of the 

model in respect to the predicted mass transfer of ceramic membranes were identified and the 

model adapted accordingly using correction factors validated for the local scope (the scope of 

process parameters and membrane properties that were investigated experimentally). This was 

done to establish a modelling basis in respect to the mass transfer through ceramic membranes 

that can be extended in future works and eventually facilitate the investigation of the impact of 

membrane properties and process parameters that cannot easily be manufactured or realized in 

practice. For instance, this could guide the membrane optimization and process development 

without extensive prototype production or test rig construction that enable extreme parameter 

spectra. As stated before, the mass transfer modelling was limited to the VMD configuration due 

to the complex wetting behavior of modified asymmetric ceramic membranes in DCMD mode 

(cooling liquid infiltrates the support pores to a various extent for different membranes) as well as 

the fact that VMD is more suited than DCMD for ceramic membranes. N2 permeance data allowed 

the calculation of the tortuosity of each membrane layer of asymmetrically structured TiO2 single 

channel membranes based on Eq. 37 (Table 8). 

  

Table 8: Tortuosity values derived using the DGM for the specific TiO2 layers obtained using N2 permeance data as well 
as data on the thickness, porosity and pore size of the membrane layer 

Membrane Layer, Pore Size Tortuosity [-] 

TiO2 (final pore size: 100 nm) 

Support, 4.6 µm 2.87 

Intermediate Layer, 0.8 µm 2.62 

Intermediate Layer, 0.25 µm 1.56 

Final Layer, 0.1 µm 2.16 

TiO2 (final pore size: 250 nm) 

Support, 4.6 µm 2.87 

Intermediate Layer, 0.8 µm 2.62 

Final Layer, 0.25 µm 1.25 

TiO2 (final pore size: 400 nm) 

Support, 4.6 µm 2.87 

Intermediate Layer, 0.8 µm 2.62 

Final Layer, 0.4 µm 1.70 
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In doing so, the asymmetric TiO2 single channel membranes were fully characterized in respect 

to their morphological parameters. A superposition of Knudsen diffusion and viscous flow was 

considered for all mass transfer calculations based on the Knudsen number calculated in respect 

to the membrane pore size and operational conditions and the low absolute pressure applied to 

the permeate side.   

The following illustration (Figure 51) shows the calculated (based on the VMD model in its natural 

form) and the experimentally determined permeate fluxes in respect to the feed temperatures and 

feed flow velocity for TiO2 membranes with a final pore size of either 100 nm or 400 nm.  

  

 

Figure 51: Simulated (dotted lines) and measured (squares) fluxes of different asymmetric TiO2 membranes in respect 
to the feed temperature under variation of the flow velocity, test conditions: pabs: 100 mbar, TCoolant: 0 °C; minimum of 3 
tests, the error bars depict the confidence intervals of the respective average value 

 

It can be stated, that the modelled permeate fluxes were in good agreement with the measured 

flux values at a high feed flow velocity of 1.08 m/s (blue dotted line and squares). The lower the 

feed flow velocity and the higher the feed temperature the more pronounced are the deviations 

between calculated and measured fluxes (max. deviation of 51 %). The experimentally obtained 

permeate fluxes showed a near linear dependency to the feed temperature at low feed flow 

velocities (yellow and green data set) while the modelled data demonstrates a non-linear 

relationship as suggested by the Antoine equation (Eq. 21) and considered by the VMD model. 
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This observation led to the conclusion that the VMD model in its natural form underestimates 

polarization effects leading to an overestimation of the partial water vapor pressure (= 

overestimation of the driving force) at the membrane interface on the feed side. The impact of 

polarization effects is getting more pronounced with increasing feed temperatures and decreasing 

feed flow velocities leading to gradually increasing deviations between the model and the 

measured permeate fluxes. While the VMD model considers temperature and concentration 

polarization effects (caused by the vapor transport) using experimentally obtained data and the 

specific semi-empirical relationships directly, the heat transport via conduction is only considered 

indirectly and inadequately while crystallization effects are not considered at all. One possible 

reason for the underestimation of temperature polarization effects by the VMD model (heat 

transport through conduction is not considered) is the fact that polymeric membranes are less 

affected by the heat transfer through conduction due to their low thermal conductivities (more than 

a magnitude lower than the thermal conductivities of ceramic membranes, Figure 23) and the fact 

that the VMD model is typically used to model the mass transfer through polymeric membranes. 

As described by the Equation 3 (𝐽 = 𝐵𝑚∆𝑝𝑚) the permeate fluxes modelled were based on a term 

that describes the resistance to the mass transfer imposed by the membrane (𝐵𝑚, Eq. 33) 

multiplied with the partial pressure difference across the membrane acting as the driving force 

(∆𝑝𝑚). While the underestimation of polarization effects did not require the adjustment of the 

resistance term 𝐵𝑚, the driving force term ∆𝑝𝑚 had to be adapted. This was done by lowering the 

temperature at the membrane interface on the feed side (serves as an input parameter for the 

calculation of the partial vapor pressure at the membrane interface, Eq. 21) using correction 

factors 𝐶𝐹 [-] that are gradually more pronounced for increasing feed temperatures and decreasing 

feed flow velocities: 

 

 𝑇𝑚,𝑓, 𝑐𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑,𝑖 = 𝑇𝑚,𝑓,𝑖 ∙ 𝐶𝐹𝑖 (39) 

 

with 𝑇𝑚,𝑓, 𝑐𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑,𝑖 as the corrected feed temperature at the membrane interface at the index (𝑖) 

[K], 𝑇𝑚,𝑓,𝑖 as the initial temperature at the membrane interface on the feed side at the index (𝑖) [K]. 

𝐶𝐹𝑖 can be calculated as follows:  

 

 𝐶𝐹𝑖 =  
𝑇𝑚,𝑓,0

𝑇𝑚,𝑓,0 + ((𝑖 − 1) ∗ 0.0319𝑣−1.413)
 (40) 
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 𝑖 = (𝑇𝑚,𝑓,𝑖 − 𝑇𝑚,𝑓,0)(
1

𝐾
) (41) 

 

With 𝑇𝑚,𝑓,0 as the lowest feed temperature at the interface at the membrane considered for the 

calculations [K] and 𝑣 as the feed flow velocity [m/s]. ∆𝑇 was chosen to be 1 K. The term 

0.0319𝑣−1.413 has the dimension of the unit Kelvin and defines how strongly the correction factor 

increases with increasing feed temperatures. This function was derived via an iterative approach 

and curve fitting representing the exponential relationship between the flow velocity and the 

temperature increments (∆𝑇 =  0.0319𝑣−1.413) that were used to calculate the correction factor for 

a specific feed temperature. The following illustration (Figure 52) shows the calculated flux values 

(based on the integration of the correction factor as described above) and the experimentally 

determined permeate fluxes in respect to the feed temperatures and feed flow velocities for TiO2 

membranes with a final pore size of either 100 nm or 400 nm. 

 

 

Figure 52: Simulated (dotted lines) and measured (squares) permeate fluxes of asymmetric TiO2 membranes in respect 
to the feed temperature under variation of the flow velocity and in consideration of a correction factor (Eq. 40), test 
conditions: pabs: 100 mbar, TCoolant: 0 °C; minimum of 3 tests, the error bars depict the confidence intervals of the 
respective average value of the experimentally determined permeate flux 

 

The inclusion of a correction factor that gains influence with increasing feed temperatures as well 

as decreasing flow velocities (accounting for increasingly stronger polarization effects) resulted in 
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the dampening of the modelled curves leading to excellent agreements with all the measured 

values. The dampening of the modelled data with increasing feed temperatures in respect to the 

feed flow velocity led to the modelled curves showing the same near linear trend as the measured 

values at relatively low flow velocities (0.36 m/s and 0.14 m/s). Although the integration of a 

correction factor based on the methodology described above showed excellent results for different 

feed concentrations (30 g NaCl per kg H2O vs 350 g NaCl per kg H2O) and membrane pore sizes 

(100 nm vs 400 nm) the validity of this approach is limited to the local scope (e.g. flow velocities 

in the range of 0.14 m/s to 1.08 m/s and feed temperatures from 50 °C to 80 °C). No reliable 

statement can be made on the validity of this approach beyond the local scope. In conclusion, the 

accepted VMD model based in the DGM predicts the mass transfer through asymmetric ceramic 

membranes in good accuracy for relatively low feed temperatures and high feed flow velocities 

even at high feed concentrations. This was achieved by calculating the mass transport resistance 

for each layer separately (up to four layers) and by subsequently combining the layer resistances 

in series to an overall membrane resistance. Prerequisite for this approach was the accurate 

characterization of the morphology of each membrane layer using several characterization 

methods which made the use of the tortuosity as a calibration parameter no longer necessary. 

However, it can be stated that the VMD model does not sufficiently consider polarization and 

crystallization effects and must be extended using a correction factor that is gradually more 

pronounced for higher feed temperatures and dependent on the flow velocity. To achieve the 

adaptation of the VMD model with a universal validity the unique form of ceramic pores (slot-

shaped) as well as the pore size distribution should be considered. The consideration of large 

confidence intervals for the simulation could possibly further improve the model. The average 

values of experimentally obtained data such as permeate flux and N2 flux served as an input for 

model critical semi-empirical equations. By considering the confidence intervals of specific 

average values (especially if large confidence intervals are present) the simulated data could be 

derived as a range instead of single values. Additionally, in-depth information on the boundary 

layer formation (polarization effects) in respect to a wide variety of membrane properties and 

process parameters is required to accurately determine the driving force for the process. This 

exceeds the scope of this work but should be considered for subsequent research activities. 
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4.5 Performance Evaluation of Ceramic Membranes in MD Processes and an 

Approach to Membrane Optimization 

The results presented in this study indicate that ceramic membranes are competitive with 

polymeric membranes in VMD but underperform in respect to polymeric membranes in DCMD. 

For instance, Safavi et al. 2009 [199] reported permeate fluxes (11 kg/(m² h)) using PP 

membranes in VMD (lab-scale) that were in the same range as the permeate flux achieved with 

TiO2 membranes (~ 9 kg/(m² h)) tested at similar feed concentrations and lower driving forces 

(TFeed: 55 °C, PPermeate: 75 mbar) for this study. In contrast permeate fluxes reported for PTFE 

membranes in DCMD (Feed: 35 g salts per L H2O, TFeed: 60 °C, TCoolant: 20 °C, turbulent flow 

regime) were by a factor 5.5 to 6.5 higher than the permeate fluxes achieved with TiO2 membranes 

in DCMD at similar process conditions (chapter 4.2.1) reported in this work [200]. These findings 

are partly supported by the literature stating that hollow fiber membranes made of Al2O3 and  

β-Sialon outperform state of the art hollow fiber and flat sheet polymeric membranes in DCMD 

and VMD under similar test conditions (lab-scale) and that ceramic membranes showed higher 

normalized permeate fluxes (by a factor of 1.6 to 21.4) than the polymeric counterparts made of 

PP, PTFE, PVDF or PVC [36].   

Generally, it is argued that ceramic membranes are not competitive compared to polymeric 

membranes in MD due to several reasons such as the lower porosity, higher thermal conductivity, 

hydrophilic surface characteristics and higher production costs. This is the reason why ceramic 

membranes are mostly promoted as the better alternative to polymeric membranes for the 

treatment of aggressive environments that are too extreme for state-of-the-art polymeric 

membranes. This approach is still the most likely to help ceramic membranes succeed in MD 

processes although the in-depth assessment of the limitations of polymeric membranes was not 

part of this work. However, considering the good performance of ceramic membranes (permeate 

flux and selectivity) presented in this work it can also be argued that ceramic membranes could 

pose as an adequate solution for less extreme environments. This means that the optimization of 

ceramic membranes should focus on the improvement of the stability and the cost-efficiency of 

ceramic membranes. But even, if only one of these targets can be met (either improvement of the 

stability or improvement of their cost-efficiency of ceramic membranes) ceramic membranes can 

find their place in commercial MD applications. In respect to the results presented in chapter 4.2.5 

and chapter 4.3 it can be stated that ceramic membranes and their modified surfaces are 

mechanically robust enough (symmetrically and asymmetrically structured membranes) to cope 

with highly saline and abrasive environments. The chemical stability towards extreme pH values 

is less distinct. For instance, highly acidic environments greatly affected the LEP of modified 
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ceramic membranes. The only membrane type stable enough to withstand this environment were 

symmetrically structured ceramic membranes modified with a fluorinated agent. Consequently, 

specific feed chemistry and membrane types require the identification of the most suitable 

hydrophobic agent. Thereby, not only the stability of the functionalized surface is of importance 

but the extent of the initial hydrophobicity. The stronger the initial hydrophobicity (quantifiable 

using the free surface energy, contact angle or LEP) the better the shielding of the membrane 

surface from aggressive components dissolved in the aqueous feed. The amount of hydroxyl 

groups available on the membrane surface may have an impact as well and should be considered. 

If the surface modification is adjusted (type, concentration and grafting procedure) in respect to a 

specific feed and membrane type many types of aggressive (waste) waters can be treated using 

ceramic membranes in VMD. Some examples are: 

• Produced Waters 

• Concentrated Brines  

• Aqueous solutions close to point of crystallization in general and in combination with 

crystallization processes  

• Extraction of aggressive components from aqueous media, e. g. ammonia, acids 

• Food industry if the aggressive cleaning of membranes is required  

The second approach in respect to the optimization of ceramic membranes puts emphasis on the 

improvement of their cost-efficiency. Even though it can be concluded that state-of-the-art ceramic 

membranes can achieve similar mass transfer rates as polymeric membranes in VMD (+ superb 

rejections) this is only one parameter required to assess the overall competitiveness of ceramic 

membranes for MD applications not characterized by harsh environments. In addition to the mass 

transfer of ceramic membranes, the cost-efficiency includes their capital cost (in consideration of 

manufacturing costs, lifespan and stability) and energy efficiency. While it is argued that ceramic 

membranes can be considered competitive with polymeric membranes in regard to their capital 

costs (despite their higher manufacturing cost) due to their superb stability and long lifespans [116] 

there is little scientific data to support that assumption in respect to MD applications. However, it 

is important to note that the capital costs related to MD processes (e. g. membranes costs, system 

components) are of minor importance compared the cost of the thermal energy needed to drive 

the MD process (if low-cost energy sources or efficient heat recovery systems cannot not be 

applied within the process). The Solarspring® and Memsys® MD systems (utilization of polymeric 

membranes) are operated with energy consumptions between 130 kWh/m³ and 350 kWh/m³ (> 

97 % accounts for the thermal energy consumption in respect to the total energy consumption) 

[17]. These values do not come close to the thermal efficiencies that are achieved with reliable 
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conventional thermal desalination processes (MED: 42 kWh/m³ to 65 kWh/m³, MSF: 62 kWh/m³ 

to 85 kWh/m³) that are suited to treat higher concentrated saline solutions. Would the commercial 

MD membrane provider Solarspring or Memsys use ceramic membranes instead of polymeric 

membranes the energy consumption could be considerably higher (due to the higher thermal 

conductivity of ceramic membranes) and make the process even less competitive with established 

thermal desalination methods such as MSF and MED. This makes the reduction of the production 

costs of ceramic membranes neglectable. The most important goal should be the lowering of the 

thermal conductivity by using low conductivity materials and by increasing the porosity without 

sacrificing the mechanical integrity of the membranes. In addition, the development and 

implementation of innovative heat recovery strategies for ceramic membranes with high packing 

densities in respect to specific membrane geometries and MD configurations is imperative. Heat 

recovery strategies for ceramic membranes have not been reported by the literature yet while any 

commercial MD system using polymeric membranes facilitates heat recovery one way or another. 

Module integrated energy recovery concepts are an integral part to reduce the energy efficiency 

of MD processes using ceramic membranes. VMD is believed to be the MD configuration that 

allow heat recovery concepts most effectively while reducing the heat loss through conduction. 

Any concept must allow the use of the condensation energy released through the prior 

condensation stage in order to heat and evaporate the feed solution at a lower temperature level 

in a next stage. The number of stages must be considered in respect to the efficiency of the heat 

recovery process and eventually define the GOR of the MD process. On a module scale this 

requires the integration of permeate condensation and heat recovery devises. For ceramic 

membranes different concepts using tubular and flat sheet membrane geometries are currently 

being investigated. In addition, the facilitation of low-cost energy sources should be explored for 

every MD application especially if ceramic membranes with relatively high thermal conductivities 

are utilized and heat recovery is not efficiently applied.   

Ideally ceramic membranes can be optimized in respect to their stability and their cost-efficiency. 

But since this poses a considerable technical challenge, the focus on one of those targets in 

respect to the specific MD applications is a good starting point.  
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5 Summary and Conclusion 

As the global relevance of desalination processes increases and conventional desalination 

methods have technically matured without overcoming substantial limitations, unconventional 

desalination processes such as MD processes receive growing attention. It is a technology that 

hybridizes the benefits of thermal technologies with the flexibility (e.g. scaling and geometric 

control) offered by membrane processes. Hydrophobic polymeric membranes are predominantly 

used in MD processes but may not be robust enough if applied in aggressive solutions. Ceramic 

membranes have yet to find a foothold in the MD community due to several unfavorable 

characteristics (i.e. hydrophilicity, high cost, and high thermal conductivity). However, ceramic 

membranes could enable the treatment of solutions exhibiting extreme conditions and extent the 

areas of application for MD processes considerably.   

This work was conducted to obtain a better understanding of the strengths and limitations of 

ceramic membranes in MD processes. This knowledge was then used to recommend an approach 

for membrane optimization to boost the use and the commercialization of ceramic membranes for 

a wide range of MD application. To guide the investigations several research questions with focus 

on the modification of ceramic membranes and the resulting hydrophobic characteristics, the 

characterization of membrane properties and the related membrane performance in MD 

processes (e.g. mass transfer, energy efficiency and stability) as well as mass transfer modelling 

were defined in the introduction section (chapter 1.2). The following section summarizes the 

findings throughout this work and demonstrates the successful approach of these research 

questions as well as the overall project objective. 

 

5.1 Membrane Properties and Membrane Performance 

Any Membrane Distillation (MD) process is highly dependent on the hydrophobic membrane that 

serves as the semi-selective barrier between a warm feed and a cooler permeate side. The 

membrane enables the selective separation and transportation of volatile components (e. g. water 

vapor) to the permeate side but also imposes a significant resistance to the mass transport of that 

component in dependence on its specific properties. Therefore, it is imperative to have knowledge 

of those membrane properties to understand their impact on the mass and heat transport as well 

as to validate the generally accepted mass transfer model for asymmetric ceramic membranes. 

Some membrane properties (e. g. pore size and porosity) were quantified using standard 

characterization methods as described in chapter 3.2.1 while others (for instance, the thermal 
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conductivity) required investigative methods that are not used by default. Therefore, a variety of 

ceramic membranes (e.g. different layer structure, pore size, support thickness, surface 

modification and thermal conductivity) were thoroughly investigated in respect to their unique 

properties using thermal conductivity scanning, N2 permeance, contact angle (CA) and liquid entry 

pressure (LEP) tests to fully characterize asymmetrically and symmetrically structured single 

channel ceramic membranes.  

The thermal conductivity scanning done on non-modified and modified tubular ceramic 

membranes made of four material types (Al2O3, TiO2, cordierite and mixed oxides) exposed the 

following: 

• The thermal conductivity of single channel membranes made of cordierite and mixed 

oxides was as low as 0.5 W/(m K) which is more than a magnitude higher than the thermal 

conductivity of polymeric MD membranes. 

• The thermal conductivity of Al2O3 and TiO2 single channel membranes differed by a factor 

of around 3 despite considerably stronger deviations regarding the thermal conductivity of 

the material. 

• The thermal conductivity was highly dominated by the support characteristics (material and 

porosity) and not significantly affected by the membrane coating or modification process. 

• The thermal conductivity must be determined experimentally due to the individual 

microstructure of ceramic membranes (e.g., grain sintering, grain growth and pore 

formation) that is highly dependent on the sintering regime and is not accounted for by 

accepted thermal conductivity models. 

N2 permeance tests were conducted on different symmetrically and consecutively coated 

asymmetrically structured ceramic membranes which led to the following findings: 

• The support properties dominated the mass transfer through asymmetrically structured 

ceramic membranes. 

• Larger support pore sizes led to higher mass transfer rates but also resulted in a stronger 

reduction of the mass transfer rate after subsequent layer coating steps.  

• The mass transfer through symmetrically structured ceramic membranes was not 

competitive with the mass transfer facilitated by asymmetrically structured ceramic 

membranes even if 30 % thinner support walls were used. 

• The surface modification did not impact the mass transfer in N2 permeance tests.  
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Static, advancing and receding CA measurements were conducted on Al2O3 flat-sheet 

membranes modified with nine different hydrophobic agents. This was done to identify a non-

fluorinated hydrophobic agent that could pose as a potential alternative to the fluorinated agents 

that were successfully used to modify ceramic single channel membranes prior to this work. Based 

on a static CA of 140° and an advancing and receding CA above 90° (resulting in a small CA 

hysteresis of 32°) the molecule n-Octyltriethoxysilane (labelled ‘HOM’) was chosen.  

Liquid entry pressure tests conducted on a variety of different ceramic single channel membranes 

using different modification agents, concentrations and feeds revealed the following: 

• The LEP was higher than 2.5 bar for all membranes with pore sizes smaller or equal of 

400 nm indicating the general suitability of modified ceramic membranes for MD 

processes. 

• The LEP of TiO2 membranes was competitive with the LEP of polymeric membranes with 

the same pore size and tested at similar conditions. 

• The non-fluorinated hydrophobic agent was as effective in rendering the surface of ceramic 

membranes hydrophobic as the fluorinated molecules. 

• The use of 1 wt.% of the tested hydrophobic agents was sufficient for the modification of 

asymmetrically structured ceramic membranes.  

• If high feed temperatures are applied modified ceramic membranes with pore sizes smaller 

than 400 nm should be used. 

• The LEP increased linearly with increasing salinities from 50 g NaCl per kg H2O 

• The use of a 20 wt.% ethanol test solution led to reduction of the LEP of more than 50 % 

in comparison to the LEP determined using pure water as the test solution. 

Subsequently to their thorough characterization DCMD and VMD test were conducted (under fixed 

standard operational parameters) on a variety of different ceramic single channel membranes. 

Using this approach, the MD results could be put in perspective and evaluated in respect to how 

specific membrane properties impact the MD performance. The most substantial observations 

were: 

• In DCMD, the heat and mass transfer were affected by partial wetting of the large support 

pores. 

• The intermediate and final membrane layer affected the mass transfer in DCMD 

significantly. 

• The mass transfer achieved in DCMD was considerably lower than the mass transfer 

determined in VMD. 
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• The selectivity of the ceramic membranes was excellent in DCMD and VMD.  

• Fluxes above 20 kg/(m² h) could be achieved in VMD at moderate driving forces 

(asymmetric TiO2 membrane, TFeed: 60 °C, pabs: 100 mbar). 

• The mass transfer in VMD was in accordance with the mass transfer determined via N2 

permeance tests and dominated by the support properties.  

• The reduction of the wall thickness was only beneficial in VMD. 

• The mass transfer of symmetric ceramic single channel membranes was not competitive 

with the mass transfer of their asymmetric counterparts.  

Stability tests were conducted on symmetrically and asymmetrically structured ceramic 

membranes based on the assumption that asymmetrically structured ceramic membranes are 

more sensitive towards harsh environments due to the dependency of their selectivity on the 

integrity of a very thin final membrane layer. For this, the initial LEP of selected membranes was 

compared to the LEP determined after the membranes were contacted with abrasive (highly 

saline) solutions or were cooked in saline solutions characterized by extreme pH values. The 

following findings were made:  

• The cooking of membranes modified with fluorinated or non-fluorinated hydrophobic 

agents in a neutral or neutral and saline solution did not (or slightly positively) affect the 

LEP. 

• The treatment with the saline alkaline solution led to a moderate decline of the LEP for 

asymmetric membrane types independent of the hydrophobic agents while the LEP of 

symmetric membranes was not strongly affected. 

• The treatment with the saline acidic solution led to a strong decline of the LEP for all 

membrane types and hydrophobic agents except for the symmetrically structured ceramic 

membranes modified with a fluorinated agent. 

• The LEP of symmetrically and asymmetrically structured ceramic membranes was not 

affected by being contacted (run through at 0.73 m/s) with an abrasive solution for up to 

56 hours. 

In conclusion, modified ceramic membranes were successfully utilized in MD processes exhibiting 

excellent rejections and decent permeate fluxes. Ceramic membranes are more suited for the 

utilization in VMD than in DCMD processes due to their relatively high thermal conductivities. 

Asymmetrically structured ceramic membranes outperform symmetrically structured membranes 

in respect to the mass transport and their use in environments that are not highly aggressive (for 

instance, extreme pH values) should be favored. The optimization of the support properties (pore 
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size, porosity and thickness) is most important to maximize the mass transfer of asymmetrically 

structured ceramic membranes. Fluorinated and non-fluorinated hydrophobic agents can be 

applied to modify hydrophilic ceramic membranes and qualify them for MD processes. 

Symmetrically structured ceramic membranes modified with a fluorinated hydrophobic agent are 

considerably more resistant towards extreme pH values than their asymmetrically structured 

counterparts or membranes modified with non-fluorinated agents and their utilization should be 

favored in chemically aggressive environments. Harsh environments or feeds containing surface 

tension lowering substances require the use of membranes with pore sizes smaller than 400 nm 

to minimize the risk of wetting.  

 

5.2 Operational Parameters, Real Solutions and Mass Transfer Modelling 

The permeate yield and quality as well as the energy efficiency of the MD processes are not only 

dependent on the membrane but on the operational parameters such as the feed temperature and 

composition, flow velocity and permeate pressure. For instance, these parameters affect 

polarization effects, define the risk of wetting as well as the driving force. To understand the impact 

of specific process parameters asymmetric ceramic single channel membranes (Al2O3 and TiO2) 

were tested in VMD under the variation of the feed temperature, salinity, flow velocity as well as 

the permeate pressure and cold trap temperature. In addition, a real RO concentrate from the 

dairy industry as well as an artificial leachate from the potassium mining industry was treated using 

asymmetric Al2O3 and TiO2 membranes. The following observation were made: 

• Even at very high feed concentrations (350 g NaCl per kg H2O) excellent rejections above 

99.9 % and permeate fluxes of more than 35 kg/(m² h) were achieved using TiO2 

membranes at relatively high driving forces (TFeed: 75 °C, Pabs: 75 mbar). 

• For all temperatures and permeate pressures TiO2 membranes (final pore size: 100 nm) 

showed permeate fluxes of around 50 % higher than the permeate fluxes achieved with a 

Al2O3 membrane (final pore size: 100 nm). 

• Despite the exponential relationship between the feed temperature and the driving force 

(water vapor partial pressure) the incline of flux with increasing temperatures was higher 

at lower feed temperatures than at higher feed temperatures. 

• The increase of the feed flow velocity led to an increase of the permeate flux for both 

membrane types and all feed temperatures and concentrations. 
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• The increase of the permeate flux with increasing flow velocity was equally pronounced for 

all feed temperatures for TiO2 membranes but stronger for Al2O3 membranes at higher 

feed temperatures. 

• The energy efficiency of both membranes was relatively low (TiO2 > Al2O3) and increased 

with increasing feed flow velocity. 

• The increasing salinity affected the permeate flux of a Al2O3 membrane considerably. 

However, even concentrations (> 300 g NaCl per kg H2O) a permeate flux of more than 

10 kg/(m² h) was achieved. 

• The permeate flux (Al2O3 membrane) declined to near zero when the NaCl concentration 

approached the saturation point. 

• A highly concentrated leachate was treated successfully using a Al2O3 membrane 

achieving permeate fluxes of up to 17.5 kg/(m² h) and permeate qualities between 

7.8 mS/cm and 15 mS/cm. 

• A real RO concentrate containing 1 wt.% humic substances could only be treated 

(achieving up to 17 kg/(m² h) permeate) in VMD after the pretreatment of the feed using a 

5 nm membrane (the permeate flux declined to around 10 kg/(m2 h) over a time period of 

24 hours).  

A VMD mass transfer model proposed by the literature (based on the DGM) was adopted to 

facilitate the calculation of the mass transfer of asymmetrically structured TiO2 membranes in 

respect to the feed temperature and feed flow velocity. Deficiencies of the model were identified 

and addressed by integrating correction factors for the feed temperature at the interface of the 

membrane adjusting the driving force accordingly. The main observations were: 

• The VMD model in its natural state predicted permeate fluxes that were in good agreement 

with the experimentally obtained permeate flux data for low feed temperatures and low 

feed velocities. 

• The deviations between the predicted and the measured values increased with increasing 

feed temperatures and decreasing feed flow velocities suggesting a gradually more 

pronounced underestimation of polarization effects (for instance, the VMD model does not 

account for temperature polarization via conduction). 

• The integration of a correction factor that is dependent on the feed temperature and feed 

flow velocity led to an excellent agreement between the measured and calculated fluxes 

over all feed temperatures and feed flow velocities as well as for different membrane pore 

sizes and feed salinities.  
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In conclusion, modified ceramic membranes were successfully used to treat highly saline synthetic 

and real solutions achieving excellent rejections and good permeate fluxes in VMD if crystallization 

is avoided. In respect to the mass transfer and energy efficiency TiO2 membranes outperform 

similar membranes made of Al2O3 due to the lower thermal conductivity moderating temperature 

polarization effects more effectively. The use of high feed temperatures in VMD is more attractive 

for ceramic membranes made of materials with relatively low thermal conductivities and is more 

beneficial if relatively high feed flow rates are applied. Feeds containing surface-active substances 

must be pretreated sufficiently to avoid wetting during MD processes and to guarantee process 

stability. The mass transfer through asymmetric ceramic membrane was successfully modelled 

using a model suggested by the literature based on the DGM. The use of the model for ceramic 

membranes is adequate for relatively low feed temperatures and high feed flow velocities even 

though the shape of the pores (slot-shaped) nor the pore size distribution is accounted for by the 

model. 

The mass transfer rates of ceramic single channel membranes presented in this work are of the 

same magnitude of the permeate fluxes for ceramic membranes that are reported in the literature 

[36,51] indicating the consistency of performance data obtained and presented within this study. 

Ceramic membranes are competitive with polymeric membranes regarding their mass transfer but 

currently lack the cost-efficiency (lower energy efficiency) to make them truly attractive for a 

broader utilization in MD processes. The cost-efficiency could be improved by increasing the 

energy efficiency. This can be achieved by using low-conductivity materials or by increasing the 

membrane porosity to reduce the heat loss via conduction. Additionally, membrane geometries 

with high packing densities and respective modules need to be developed that allow the recovery 

of latent heat. In addition, it is imperative to exploit low grade energy sources such as waste heat 

or regenerative energy sources to drive the process using ceramic membranes. If the cost-

efficiency of ceramic membranes in MD processes is improved, they can be a viable option for the 

treatment of aggressive solutions that are too extreme for polymeric membranes such as solutions 

that are close to the saturation point, have extreme pH values or are characterized by high 

temperatures. In this regard, it is also imperative to investigate if potential damages to ceramic 

membranes can be reversed using specific cleaning and restoration procedures. To facilitate the 

long-term application of ceramic membranes in harsh environments the layer design and surface 

modification must be tailored to the specific MD environment. Ideally both approaches can be 

pursued simultaneously and enable ceramic membranes for a great variety of MD applications.  
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