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Nomenclature

CFD

LHV
CGE
BFB

db
wb
VM
FC
nd
ER
NPT

IGT

Computational Fluid
Dynamics

Lower Heating Value
Cold Gas Efficiency
Bubbling Fluidized Bed
Residual Forest Biomass
Dry basis

Wet basis

Volatile Matter

Fixed Carbon
Non-determined

Equivalence Ratio

Normal pressure (1.013x10°

Ych,F

YHor
YcoF
YHooF
YcooF
Y, bio
YH, bio
Yo, bio
YC, char
YH, char

YO, char

YC, tar

Pa) and temperature (273 K)

Institute of Gas Technology

YH, tar

YO, tar
Vg

PG
TG

Char yield of pyrolysis process

H> yield of pyrolysis process
CO yield of pyrolysis process
H>O yield of pyrolysis process
CO; yield of pyrolysis process
Carbon content of biomass
Hydrogen content of biomass
Oxygen content of biomass
Carbon content of char
Hydrogen content of char
Oxygen content of char

Carbon content of tar

Hydrogen content of tar

Oxygen content of tar

Volumetric gas flow rate of the
dry gas produced (Nm?/s)

Absolute pressure (Pa)
Absolute temperature (K)

Ideal gas constant (J/molK)
Molar fraction of carbon in CO>
Molar fraction of carbon in CO

Molar fraction of CO2, CO CHa,
and C,Hs in the dry gas produced

Biomass mass flow rate (kg av/s)

Mass fraction of carbon in the
biomass (kg C/kg biomass qv)
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Abstract

The direct (with air) gasification process of biomass in bubbling fluidized bed reactor
was simulated using Aspen Plus®. The reactor was divided in three parts: the pyrolysis
zone, combustion zone and reduction zone. The pyrolysis process simulation was
supported by an external MS-Excel® subroutine to define the yield and composition of
the main components, namely, char, gas and tar. Whereas the combustion and reduction
processes were simulated using a kinetic model. These models were calibrated and
thereafter validated with a set of distinct results from gasification of four different types
of biomass using a pilot-scale bubbling fluidized bed reactor, with different equivalence
ratio (from 0.17 to 0.35) and temperature (from 709 °C to 859 °C). The results obtained
from the simulation, namely the concentration of CO, CO», H>, CHs, CoHs in the producer
gas, were in good agreement with the experimental ones for a set of biomass types and
operating conditions. Amongst the gases analysed, H> gas was predicted with the lowest
accuracy, always being overestimated; despite that, the highest absolute error obtained
for Hz was only 4.4%. Finally, the tar concentration predicted was between 20 and 42
g/Nm? and it decreased with the increase of equivalence ratio, temperature and biomass

particle size.

Keywords: biomass, gasification, bubbling fluidized bed, kinetic modelling, Aspen Plus®
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1. Introduction

In recent years, the gasification process has taken great interest because the gas producer
gas can be used in several applications, depending on its characteristics. The producer gas
can be burnt directly, e.g., fuel in furnaces or boilers or in gas turbine, or used to produce
added value chemicals [1]. However, the gasification process is complex, and it is
difficult to predict accurately the producer gas composition. Although the main gases are
H>0, CO», CO, CH4, CoH4 and H», the amount of these gases and tar are unknown and
can vary in a wide range depending on biomass characteristics, type of reactor, gasifying
agent and operating conditions [2]. Regarding tar, it is a complex blend of high molecular
weight hydrocarbons formed during the gasification process, which condense in the form
of a viscous liquid in the gasifier pipe outlets and filters, consequently leading to
blockages and clogging, and causing downstream problems [3, 4]. In addition to the
operating problems in the gasifier and downstream equipment, a high tar content in the
gas product makes it unsuitable for many commercial applications. In this sense, tar
should be as low as possible and always below than 1 g/Nm?, albeit this value depending
on the final application [5]. Accordingly, predicting the gas composition is a difficult task.
For example, chemical equilibrium has been often referred as a tool to predict producer
gas composition from biomass gasification, but recent analysis on the subject [6] shows
that this approach does not offers accurate predictions of producer gas composition during
biomass gasification in bubbling fluidised reactor; for example, significant
overestimation of Hz and CO concentration and underestimation of CH4 concentration is

observed.

Hence, process simulation is an increasingly important and effective tool to support the
development and implementation of the gasification process, being a quantitative tool for

understanding and optimizing the process [1]. In addition, it is very useful for its analysis,
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evaluation and design [7]. Moreover, it can reduce the high costs related to extensive
experimental demonstration and allow to study different scenarios saving time and costs
[5]. For modelling biomass gasification in fluidized bed reactors two main approaches
have been commonly used: (i) process simulation using computational fluid dynamics
(CFD) tools as Barracuda, MFIX, or OpenFOAM, ANSYS and (ii) process simulation
using Aspen Plus. In this sense, a significant number of authors [8-14] has been often
using CFD to simulate the gasification process, namely with focus on mass and heat
transfer and fluid dynamic effects within the reactive system. This type of modelling
approach requires comprehensive design involving geometry, meshing, simulation set-up
and is time consuming in respect of convergence, requiring high computational
resources| 15]. Moreover, the existing numerical methods can be generally categorized as
Eulerian-based methods (two-fluid model) and Lagrangian-based methods (discrete
element method and multiphase particle in cell) [16]. The CFD simulations are limited
by the calculation of the physical properties of the compounds. Since an accurate
modelling of the physical properties of compounds requires developing and implementing
in the CFD simulator complex user defined subroutines. Thus, the main challenge
associated to chemical engineering CFD simulations is to obtain an accurate modelling
of the physical properties in conditions either of ideality or of non-ideality behaviour from
any set of pressure, temperature and composition [17]. On the other hand, modelling
biomass gasification on Aspen Plus® has been gained relevance [3] due to extensive
database of compounds and thermodynamic models available in the toolbox. In addition,
its suitability to handle solid materials (e.g., biomass), which results from its wide
properties database, including physical properties data [17]. Other advantages of this
software are the high flexibility regarding different process configurations, which allows

to optimize varying operational conditions and to determine limitations of processes
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subject to these conditions. Moreover, if suitable thermodynamic data, realistic operating
conditions and precise equipment models are adopted, the real behaviour of the process
is argued to be predicted with accuracy [3]. In addition, Aspen Plus software allows the
integration of upstream and downstream processes, such as biomass drying and crushing,
gas cleaning and combustion systems or chemical synthesis. Therefore, Aspen Plus
simulator can be considered as a useful tool to plan new processes and develop existing

ones [3].

According to Beheshti et al. (2015) [18], there are two different approaches to
model gasification process using Aspen Plus® simulator: thermodynamic equilibrium
modelling or kinetic modelling. The thermodynamic equilibrium models can be
stoichiometric or non-stoichiometric and are based on the Gibbs free energy. They can be
implemented based on defining a set of reactions and then calculating the equilibrium
composition (stoichiometric approach), or by defining the set of chemical elements in the
feeding and compounds in the output and calculate the composition that minimizes the
Gibbs free energy of the system (non-stoichiometric approach). Its use involves different
hypothesis: the gasifier is dimensionless and there is a perfect mixture in it, so the
temperature is uniform, the reaction rates are fast enough, and the residence time is also
long enough to reach the chemical equilibrium. However thermodynamic equilibrium
does not seems suitable for predicting gasification gas composition in bubbling fluidized
bed reactors [6] due to argued overestimation of H> and CO concentration and
underestimation of CHs concentration [6]. On the other hand, the kinetic modeling
approach is more complex to implement since this approach needs a detailed knowledge
of the gasification reactions and respective kinetics, as also the reactor configuration, but

the results are argued to be closer to experimental data [18].
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There are some studies that simulate biomass gasification in fluidized bed reactors
using Aspen Plus simulator. Marcantonio et al. [19] simulated H> production from
biomass gasification in fluidized bed reactor with different separation systems using
Aspen Plus. The authors concluded that the quasi-equilibrium model used give reasonable
predictions for the gasification process. On the other hand, Lopes-Motta et al. [20] used
Aspen Plus to simulated several scenarios of biomass gasification in distinct fluidized bed
configurations, including the study of the influence of operating conditions and gasifying
agent (steam and oxygen) on syngas composition and process performance. The authors
determined that the temperature was crucial for higher H, and CO production, CO;
consumption, higher syngas lower heating value (LHV) and higher cold gas efficiency
(CGE) [20] . Kaushal et al. [21] studied the simulation of biomass gasification in a
fluidized bed reactor using Aspen Plus considering the tar formation and its cracking
kinetics in the model. The results showed that accounting for tar and its kinetics
significantly improved the model performance in predicting the gas composition with
accuracy [21].

However, there are a few studies that analyse and discuss essential modelling steps
important to develop a robust tool to the simulation of direct (air) gasification process in
bubbling fluidized bed (BFB) using Aspen Plus®. Thus, the innovative aspects of this
work include the integration of i) implementation and evaluation of a kinetic mechanism
in a model to simulate the process of biomass gasification and to predict the composition
of the producer gas, ii) inclusion of tar formation predictions by means of an empirical
model implemented in a subroutine, iii) model calibration and validation with
experimental results from biomass gasification in a pilot-scale BFB reactor, iv) flexibility

of the model to evaluate distinct fuel types, and iv) evaluation of effect of different kinetic



138 mechanisms and kinetic parameters to predict producer gas composition and efficiency
139 parameters of the gasification process.”
140
141 2. Materials and methods
142 2.1 Biomass characteristics
143 The biomass types selected include pine pellets (6 mm diameter and 15-20 mm in
144  length) and chips from different types of residual forest biomass (RFB) derived from pine
145  (particle size below 10mm) and eucalyptus (particle size below Smm). Table 1 shows the
146 proximate and elemental analysis of the biomass types selected.
147 Table 1. Proximate and elemental analysis of the biomass.
Ultimate Analysis (wt. %, db) Proximate Analysis (wt. %, wb)
Biomass C H N S 0% Ash VM  FC% Moisture
Pine pellet 4750 6.20 0.09 nd 46.21 0.30 7850 16.60 4.60
Eucalyptus type A 4585 6.13 035 nd 47.67 2.87 71.00 14.60 11.80
Eucalyptus type B 49.07 6.45 0.07 nd 4441 1.19 6850 19.00 11.40
Pine RFB 50.80 6.50 0.25 =nd 4245 120 71.10 16.80 11.00
148  db, dry basis; wb: wet basis; O%T: wt.% of oxygen calculated from difference of C, H, N and S; VM: Volatile matter;
149  FCYf: wt.% of fixed carbon calculated from difference from moisture, ash and volatile matter; nd — not determined,
150  below the detection limit of the method (100 ppm wt).
151 2.2 Experimental facility
152 In this work, an autothermal pilot-scale BFB (80 kW) located at the Department of
153  Environment and Planning at the University of Aveiro (Portugal) was used to get results
154  to calibrate and then to validate the model. The experimental facility is described in detail
155 in [2, 22, 23]. The reactor has an internal diameter of 0.25 m and height of 2.3 m. The
156  bottom bed was composed by 17 kg of sand and the static bed height was of 0.23 m. The
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gasification agent used was dry atmospheric air, which was fed through the distributor
plate. The BFB was operated at atmospheric pressure with a superficial gas velocity of
0.27 to 0.30 m/s (depending on the bed temperature in range 750 °C to 860 °C), which is
two times higher than the determined minimum fluidization velocity (0.14 m/s, bottom
bed particles with average granulometry of 700 um). The biomass was fed above the

expanded bed surface, and at 0.3 m above the distributor plate, through a screw feeder.

Table 2 lists the operating conditions during the gasification experiments in the pilot
scale reactor. The bed temperature was maintained between 700 and 860 °C and the
equivalence ratio (ER) between 0.17 and 0.35. The ER was calculated as the ratio between
the O2 supplied to the gasifier and the stoichiometric O> for each biomass and it was
controlled by adjusting the biomass feeding rate while the primary air gas flow rate (200
Lxpr/min (NPT means normal pressure (1.013x10° Pa) and temperature (273K))
remained constant. Then, the direct gasifier operated under autothermal and steady state
conditions without any external auxiliary heating system, with required heat for the
gasification reactions being supported by the partial combustion of the biomass in the

reactor.

Table 2. Operating conditions during the gasification experiments in the pilot-scale [2].

Average bed Biomass feed Equivalence
Biomass Temperature rate ratio
O (kgav'h) (ER)

816 £17 12.5 0.22

Pine pellet 802 +4 11.7 0.24

854 +£6 10.9 0.25

833 £2 9.6 0.30

804 7 12.6 0.22

798 £8 11.6 0.24

Eucalyptus type A 812 £5 11.0 0.25

810 £9 10.6 0.26

818 £3 9.9 0.28

Eucalyptus type B 736 £19 15.3 0.17
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709 £14 14.4 0.18

719 £21 12.8 0.20

800 +5 10.0 0.25

813 +14 7.3 0.35

786 +12 10.8 0.23

Pine RFB 81143 10.1 0.26
830 +2 8.9 0.30

db — means dry basis

2.3 Aspen plus modelling

Aspen Plus® simulation software was used to simulate the autothermal pilot-scale BFB.
A sequential modular simulation approach has been developed to simulate a fluidized bed
reactor. For this, the reactor was divided into several blocks to facilitate model
convergence. As shown in Figure 1, the simulation was made considering the process
divided in three successive sub-processes pyrolysis process (R-1), that also includes the
drying step, oxidation process (R-3) and reduction process (R-4), as shown in the scheme
of Figure 2 and Table 3. Moreover, Table 4 shows the chemical reactions and respective

kinetic expressions considered in R-3 and R-4 blocks.

10
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Figure 1. Overview of the gasifier model.

In the simulation, the biomass and char were defined as non-conventional
components, and its proximate and elemental analysis was specified in ULTANAL and
PROXANAL models. HCOALGEN and DCOALIGT models were used to obtain
enthalpy and density, respectively, of non-conventional components as biomass and char.
HCOALGEN includes different correlations for the calculation of heat capacity, heat of
combustion and heat of formation. The heat of formation is calculated based on the heat
of combustion of the biomass and the heat of formation of the products. To calculate the
heat of combustion, the HCOALGEN uses proximate and elemental composition of the
biomass and different types of correlations which are available in the Aspen Plus® [24].
The DCOALIGHT model is based on IGT (Institute of Gas Technology) correlation and
ULTANAL is required. The ash was selected as non-conventional component and 100%
of ash was established for the ultimate and proximate analysis. The fluid-dynamic
package selected was Peng-Robinson with Boston Mathias function, due to being the
most suitable for high temperature gasification processes, argued by [25]. The compounds

11
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Ha, O, CO, CO2, CHa4, C2H4, H2O, N2, NH3, C¢Hg, C6HsO and CioHg were defined as

fluids and elemental C and S as solid phase.

The main assumptions considered in this simulation were the following

1. Ash was inert;

2. Process was in steady-state;

3. Pressure was uniform inside the reactor;

4. No heat and pressure losses took place in the reactor;

5. All gaseous compounds have ideal gas behaviour;

6. NH; and H>S were not considered,;

7. Unconverted solid carbon was present in the products;

8. Tar composition was assumed to be CsHs, CcHsO and CioHs;

9. This approach was 1D;

10. The fluidization velocity in the reactor was not considered as parameter in the
model,;

11. Arrhenius kinetics were considering for each reaction.

Figure 2 shows the Aspen Plus® flowsheet for the biomass gasification process and Table
3 lists a brief explanation of the blocks used. The biomass (Stream 1) was fed under
ambient conditions (25 °C and 1 atm) to the block R-1 to simulate an instant drying and
pyrolysis process. In the Aspen Plus® modelling approach it is considered that the fuel
drying and devolatilization processes are considered as occurring as two independent one
step processes, time independent, just to deliver the water and the pyrolysis products as
inputs to the subsequent gasification model. The biomass drying and pyrolysis process
was simulated using an existing model [26], that delivered data on products char, gas and

tar; this data was delivered to an external Excel subroutine that further supported

12



227

228

229

230

231

232

233

234

235

236

237

238

239

240

241

242

243

244

245

information to the model in Aspen Plus®. This model predicts the yields and elemental
composition of pyrolytic products by means of eight species: tar (represented by a blend
of CsHs, C10Hs and CsHeO), H2, H20, CO, CO2, CH4 and dry ash-free char. In this sense,
the percentage of each compounds was calculated adjusting the mass balance. The
empirical model developed consisting of a system of linear equations, being the main the

following equations 1 to 13 [26]:

Y e =0.106+2.43-exp(-0.66-10™2-T) (1)
Yeon = 0.93-0.92-exp(-0.42-10™2-T) )
Yo.i= 0.07+0.85-exp(-0.48-10™2-T) 3)
Yiten = -0.41-102+0.10-exp(-0.24-10-T) &)
Vi, p = 1.145 (1-exp(-0.11- 10'2-T))9'384 (5)
Yo, r =-2.18:10%+0.146- Yo (6)
Yoor= (3107 + i) Vs )

Yoo = (10541107 T)- Yo (8)
Yoqar = (0.92-2.2:107*T)-Y o o 9)
Yiar = (0.93-3.8-107T)- Yy bio (10)
YerYeen " Yenr= Yoar YearrtYe,cny You, rtYceco YeortYe,co, Yo, F (11)

Yor-Yoeh Yenr= Yo,ar YearrtYo,cn, Yeu,rtYo,co, Yeo, FtYomo Ymor — (12)

Yur Yuch " Yenr= YHar YtarF Y H,CHy Y CH,FTY 01,00 Y HyOF (13)

13
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where Yenr, Yuor, Ycor, Yuor, Yeoor, is the yield of char, H,, CO, H,O, CO, of pyrolysis
pI‘OCCSS, reSpeCtively- YC, bio, YC, char, YC, tary YH, bio, YH, char, YH, tar, YO, bio, YO, char, YH, tar is the CHO

composition of biomass, char and tar, respectively.

The block R-2 decomposed the char into compounds according to the equation

(1), where C represents solid carbon, and S solid sulphur.

Char-»C+H; + N, +0,+ S+ Ash (14)

Subsequently, the char oxidation process was modelled in block R-3 to achieve the
gasification temperature, obtaining an autothermic gasification process. Finally, the
primary gas obtained in the oxidation zone and the residual char were inputs to the R-4
block which represented the process representative of a set of reduction reactions in the
gasifier. The air was added to the reactor represented by block R-3, at 1 bar and 25 °C
(stream 5). The air fed rate was 200 Lnpr/min and it was constant; this was assumed in
order to maintain the reactor hydrodynamics as was performed during the gasification
experiments. Processes represented by R-3 and R-4 blocks were simulated using the R-
Plug block; this block performs simulation of ideal reactor operated under specific
conditions. The real temperature profile and real reactor dimensions (reaction chamber of
0.25 m internal diameter and 2.3 m height) was specified. In addition, the kinetics
parameters for each reaction considered were introduced. The reactions involved in
gasification process and the kinetic parameters for these reactions are summarized in
Tables 4 and 5, respectively. Four models were compared in this work, two were taken
from the literature (Martinez-Gonzalez et al. (2018) [27], Champion et al. (2014) [28])
and two models (named Model 1 and Model 2) were developed based on those literature
models but by adjusting selected kinetic parameters in order to fit experimental data [28];
the modifications consisted in the adjustment of the pre-exponential factors of selected

reactions (Table 5).

14
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Note that among the main assumptions considered, the major simplification of reactor
developed herein is the not consideration of hydrodynamics. To quantify potential sources
of uncertainty, calculations including volume reduction of reactor (0-75%) to consider
the freeboard section, has been carried out. In addition, these calculations were compared
with the work of Mohamed et al. [3] where hydrodynamics was considered. The possible

absolute error obtained varied between 1.9 and 8 % for CO,, CH4, H> and CO production.

L YIULYDI PIuUcesy

Excel subroutine

i

R4 Reduction process

R3 Ocxidation process

N

>3 7

Figure 2. Aspen Plus® flowsheet simulation of the gasification model.

Table 3. Blocks description used in the gasification model.

NAME TYPE DESCRIPTION

R-1 RYIELD Reactor of biomass pyrolysis, it decomposed the
biomass into pyrolytic compounds by means of Excel
subroutine. It operated at atmospheric pressure and

700-860 °C depending on the simulation.

SEP-1 SEP Separator of char and gas product.

15
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RSTOIC

The char was separated into its constituent
components and ash. It operated at atmospheric

pressure and 700-860 °C depending on the simulation.

R-3

RPLUG

Gasifier. This reactor simulates the oxidation zone of
the gasifier. The real temperature profile, real reactor
dimensions and kinetic parameters for each reaction
were specified. It operated at atmospheric pressure

and 700-860 °C depending on the simulation.

R-4

RPLUG

Gasifier. This reactor simulates the reduction zone of
the gasifier. The real temperature profile, real reactor
dimensions and kinetic parameters for each reaction
were specified. It operated at atmospheric pressure

and 700-860 °C depending on the simulation.
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Table 4. Chemical reactions and respective kinetic expressions considered in the gasification model.

Process Reaction Rate Expression (mol/m>-s) Reference Reaction number
'Ea 6
r=k-T-eRT- —[O,]
Partial oxidation of C: aC(s)+0,—2(a-1) CO+(2-a)CO, (31?787 [28, 29] (1)
1+2f . 32—
o=——-with f=4.72:107 ¢ rT
14
Total oxidation of CO: CO+120,—C02 Fk'e%[CO] [0,]°5[H,0]%3 [7,30] 2)
_ . L ) 1 -E,
R-3 Partial oxidation of CHy: CH4+502—>CO+2H2 r=k-eRT[CH,]%7[0,]*8 [28] 3)
L 1 E,
Hydrogen oxidation: H2+502—>H2O r=k-eRT[H,] [0,] [30] @)
Partial oxidation of phenol: C(H;0+40,—6CO+3H,0 Fk'T‘e%[CGHGO] 0.5 [0,] [31] 5)
. o 9 -E,
Partial oxidation of benzene: C6H6+§ Oz—>6CO+3H20 r=k-T-eRT[C¢Hy] 0.5 [0,] [32] (6)
Water Gas: C+H,0=CO+H, =k ef_Ta[C] [H,0] [27, 33] @)
Eq CO,||H
r=k-eRT ([CO][H,0] - [CO-]IH]
Water-gas shift: CO+H,0=CO,+H, Keq [34] (®)
34,730
keq=0.022-¢ RT
R-4 Steam reforming: CH4,+H,0=CO+3H, Fk'ef_la[CHA;][HzO] [27, 34] 9
Boudouard: C+CO,=2CO r:k.eif—f[c] [27, 29] (10)
C6H6O—>CO+O.4C10H8+O.15C6H6+0.1CH4+0.75H2 r=k‘e§_1§[C6H60] [35, 36] (11)
CsHqO+3H,0—4C0O+0.5C,H,+1CH4+3H, r=k‘e§_1§[C6H6O] [36] (12)
CoHg—6.5C+0.5CcH+0.5CH,4+1.5H, Fk'ef_f[clng]m [H,]°3 [27, 37] (13)

17




290 Table 5. Kinetic parameters of the main chemical reactions considered in the gasification

291 models used.

292

Martinez-Gonzalez Champion et al. Model 1 Model 2
etal. (2018)[19] (2014) [20] (This work) (This work)
Process
Reaction E. E. E. E,
(J/mol) (J/mol) (J/mol) (J/mol)

(1) 3.70-10"° 1.50-10° 2.98-10' 1.49-10° 3.70-10'° 1.50-10° 3.70-10 1.50-10°
(2) 3.98-10* 1.67-10° 1.78-10" 1.80-10° 1.78-10'° 1.80-10° 1.78-10 1.80-10°

R3 (3) 2.40-10"  1.26-10° 1.58-10'* 2.02-10° 1.58-10'2 2.02-10° 1.58-10" 2.02-10°
4) 2.19-10'"®  1.09-10° 1.08-10" 1.25-10° 1.08-10" 1.25-10° 1.08-10" 1.25-10°
(5) 6.55-10> 8,02-10* 6.55-10* 8.02-10* 6.55-10> 8,02-10* 6.55-10> 8,02-10*
(6) 2.40-10"  1.26:10° 2.4-10" 1.26:10° 2.40-10" 1.26:10° 2.40-10"" 1.26-10°
(7) 2.00-10°5  4.99-10* 2.39-10° 1.29-10° 8.00-10° 4.99-10* 8.00-10° 4.99-10*
(8) 2.78-10°  1.26-10* 2.78-10" 1.26-10* 2.78-10° 1.26-10* 2.78-10' 1.26-10*
9) 3.00-10°  1.25-10° 4.92-10"" 3.66-10° 3.00-10" 1.25-10° 3.00-10" 1.25-10°

R-4
(10) 1.05-10® 1.35-10° 3.18-107 3.68-10° 1.05-10" 1.35-10° 1.05-10"® 1.35-10°
(11) 1.00-10”  1.00-10° 1.00-10” 1.00-10° 1.00-10" 1.00-10° 1.00-10" 1.00-10°
(12) - - 1.00-10”  1.00-10° 1.00-10" 1.00-10° 1.00-10"  1.00-10°
(13) 1.00-10" 3.50-10° 1.70-107 3.50-10° 1.00-10'* 3.50-10° 1.00-10"* 3.50-10°
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3. Discussion and results

3.1 Kinetic model approach to simulate the gasification process and model calibration

In this section are shown the results of the models of Champion et al. (2014) [28] and
Martinez-Gonzalez et al. (2018) [27] and its comparison with experimental results. Then,
it is evaluated the influence of kinetic parameters of selected reactions in order to improve
the simulation results, and from this analysis it was derived a set of adjusted kinetic
parameters that could improve simulation results (Model 1 and Model 2). The experimental
results for model calibration are those obtained in the pilot-scale BFB gasification unit

using pine pellets, and ER equal to 0.22 (see Table 2) [2].

Figure 3 shows the predicted gas composition given by using the kinetic models of
Champion et al. (2014) [28] and Martinez-Gonzalez et al. (2018) [27], and its comparison
with the experimental results and respective absolute error. The model developed by
Champion et al. (2014) does not give good predictions when compared to the experimental
results, overestimating H> and CO yields and underestimating CO; and N> concentration
(Figure 3a). By comparison, the model of Martinez-Gonzalez et al. (2018) gives a better
prediction when compared to experimental results, despite relevant deviations are

observed.

From the analysis made it were observed significant differences between model
predictions and experimental results for the producer gas composition. Then, a calibration
procedure was implemented on the kinetic parameters of the reactive mechanism,
following an approach based on the modification of the pre-exponential factor (k) of the
reactions considered in the model. In this procedure, the pre-exponential factor of each
chemical reaction considered in the model was modified by using distinct literature values

data for the pre-exponential factor, one by one, with the other parameters kept constant. It
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was observed that by modifying the pre-exponential factor for water-gas shift, water-gas
and steam reforming reactions the predicted results of producer gas composition were
improved when compared to the experimental results. It is important to state that the
distinct pre-exponential factor values used for the reactions under analysis were collected
from different bibliography sources and the main aim was to evaluate which one gives a
model with better predictions of experimental values obtained in the reactor type and
process under study. Thereafter, once calibrated the kinetics of the reactive mechanism
adopted in the model using a set of experiment results, a procedure of validation of model
results (e.g., for producer gas composition) was made by using a distinct set of
experimental results obtained under distinct experimental conditions in the bubbling
fluidized bed. That is, the set of experimental conditions and experimental results (e.g.,
producer gas composition) used to support the calibration of the model were distinct from
those used for model validation. The use of distinct sets of experimental results from the
same pilot-scale BFB reactor is considered appropriate because it guarantees the uniformity

of other process conditions as reactor design and main hydrodynamics

Figure 3a shows the simulation results from Model 1 in comparison with
experimental data from Pio et al. (2017) [2]. The deviation between the results of Model 1,
and those of Champion et al. (2014), and Martinez-Gonzales et al. (2018), and the
experimental data was quantified by using the absolute error, here define as the difference
between the simulation value delivered by each model and the experimental value for each
gaseous compound considered (CO, CO», Hz, CH4, CoHy). Figure 3b displays the total
absolute error for each model. It is observed that the simulation results using the model of
Champion et al. (2014) are far from experimental results and with significant positive
absolute errors namely positive absolute error of 22 % for CO, and 11.5 % for H», and

negative absolute errors, of 15.1 % for CO., 14.64 % for N», 2.57 % for CH4 and 0.19 %
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for CoH4. In this regard, the model of Martinez-Gonzales et al (2018), offers better
predictions for the permanent gas concentrations, showing only significant over-prediction
for H> (absolute error equal to 5.9 %) and under-predicting N> (absolute error equal to 9.2
%). As expected, Model 1 gives best predictions than models of Champion et al. (2014),

and Martinez-Gonzales et al. (2018), due to the adjustment of reactions kinetic parameters.

However, thermal degradation kinetics, reactivity, and product characteristics are
recognised as influenced also by the type of biomass and operating parameters of the
process. Thus, to validate the kinetic fit and check the versatility Model 1, the model must

be validated with several biomasses [5], and this is evaluated in Section 3.2.

The model developed in this study has the potential to simulate the gasification
process using other gasification agents, e.g. air-steam or steam gasification, because the
main reactions as water gas, water-gas shift and steam reforming are considered. However,
for those conditions it must be considered a step of model calibration and validation for

specific kinetic parameters, as it was made in the present work for air gasification
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3.2 Validation of Model 1

Having calibrated the kinetic model with experimental results and suggested an
alternative kinetic model, called as Model 1, it was evaluated the model validity
considering the gasification of other biomass types and keeping ER constant (ER=0.22),
using the same experimental autothermal pilot-scale BFB gasifier [2].

The biomass types studied are distinct considering its origin, namely pine or
eucalyptus residual biomass, particle size, shape and density, because some samples are
chipped and other are pelletized, and this can influence the biomass/char reactivity. In the
case of pine pellets, the particle size was the 15-20 mm of length and 6 mm diameter, while
the eucalyptus and pine RFB are chipped material with particle size in range 5 mm to 10
mm, respectively.

Figure 4.a) shows the comparison between the experimental results and Model 1
predictions for the operating conditions and biomass types considered. It is observed that
the model predicted CO, CO,, CH4 and C2H4 with higher accuracy than H> and N». These
variations can be attributed to the water-gas shift and water-gas reactions since they were

observed as the more influential reactions.
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384  gasification of eucalyptus type A and B, and pine RFB (ER=0.22): a) Model 1, b) Model

24



385

386

387

388

389

390

391

392

393

394

395

396

397

398

399

400

401

402

403

404

405

406

407

408

409

2, ¢) Comparison between absolute error obtained between experimental results and

predicted concentration of gaseous species using Model 1 and Model 2.

In a first instance, the water-gas reaction should be the main reaction directly
affected by biomass characteristics, because it is a solid-gas reaction. Thus, the higher the
char reactivity the higher the concentration of H> generated should be. However, this trend
was not observed, because the biomass with the highest char reactivity presented the lower
H; yield. Moreover, Pio et al. (2017) [2], Kim et al. (2013) [38] and Lim et al. (2008) [39]
also observed the same trend as that offered by Model 1 and for the same types of biomass.
Pio et al. (2017) [2] suggested that other phenomenon should be taken into account, such
as the pelletized form of particles instead of the chipped form, the former being less reactive
and promoting higher char concentration inside the bed. On the other hand, Kim et al.
(2013) [38] explained that the water gas-shift reaction contributed significantly in the
gasification process. Thus, regarding the conclusions from these studies and following Bell
et al. (2010) [40] and Speight (2019) [41] , the water-gas shift reaction can play an
important role, and although all chemical species are in gaseous state, the reaction can be
considered heterogeneous insofar as the chemistry occurs at the surface of the raw material
and the reaction is essentially catalysed by carbon surfaces.

Therefore, to account for this effect, a new model approach is suggested, Model 2
(Tables 3 and 4), where the water-gas shift reaction kinetics were adjusted to slow down
the reaction, and thus, to improve the model predictions accuracy. The pre-exponential
factor of the water-gas shift reaction was modified from 278 (for Model 1) to 27.8 (for
Model 2), respectively.

The simulation results obtained with Model 2 are shown in Figure 4.b). It is
observed that the model predictions for gas composition from gasification of Eucalyptus

type A and B become improved with Model 2, with a much lower absolute error when
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compared to Model 1 (Figure 4.c). Nonetheless, this improvement in gas composition
predictions is not observed in the case of RFB from pine, where the concentration of H»
was better predicted by Model 1, and also for CO and CO; the absolute error between
Model 2 predictions and experimental results it too high. Figure 4.c) shows that Model 2
predictions are more suitable for samples Eucalyptus A and B, while similar errors were
obtained with both models for pine RFB, being slightly lower for Model 1.

Thus, it can be concluded that the influence of the water-gas shift reaction and
particle size can be relevant subjects to be considered in the simulation of biomass
gasification. From the results obtained, there are some indications that for higher biomass
particles sizes (e.g., between 10 and 20 mm) better predictions can be obtained by Model
1, because it considers a stronger effect of the catalytic activity of the char over the water-
gas shift reaction, whereas for smaller particle sizes (e.g., below 10 mm) Model 2 offers
better predictions, because in this case the concentration of char inside the bed is lower and
thus the contribution of the water-gas shift reaction becomes lower.

Besides the characteristics of biomass, other operating parameters as the ER and
temperature are of major relevance. The influence of these parameters of gas composition

are analysed in sections 3.2.1. and 3.2.2. for the simulations using Model 1 and Model 2.

3.2.1. Effect of Equivalence Ratio

The equivalence ratio (ER) is one of the main variables in direct (air) biomass
gasification processes. A low ER will turn the process approaching pyrolysis, whereas a
high ER causes biomass combustion. According to Kuo et al. the appropriate ER for

biomass gasification is in the range of 0.2-0.35 [42], which was the range used in this study.
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Thus, to check the robustness of the Aspen Plus® models, it was made a comparison
between the simulation results for gasification of different biomass types and ER and a set
of experimental results (see Table 2). Figures 7, 8, 9 and 10 show the simulation results
compared with experimental data (Pio et al. (2017) [2]) for the product gas composition
from gasification of pine pellets, eucalyptus type A, eucalyptus type B and pine RFB as a
function of ER, respectively. Table 6 shows the residual solid char predicted by the models
for all biomasses; for the experimental information used no data on char concentration are
available for comparison. It can be observed that in general, the proposed models fitted the
data very close. Moreover, the ER strongly influences the type of gasification products. An
increase of ER means that more O is available for oxidation reactions, leading to a
decrease in CO, Ha, CH4 and CoH4 and increase in CO;. The same reason explains that an
increase in ER promotes a rise in temperature (Table 2) and a drop in char concentration
(Table 6). However, it can be noted, that while the H>, CHs and C,H4 concentrations are
clearly influenced by the ER and follow the trend shown by experimental results for all
biomass studied, the simulated concentrations of CO and CO: reflected a minor influence
of the ER, although following the trend shown by the experimental results. This can be
attributed to the fact that the increase in CO; production in combustion zone is consumed
by reacting with char in the gasification zone to produce CO. These results are in

accordance with results reported in the literature [7, 43].

Regarding the model predictions, in the case of pine pellets (Figure 5), the CO.,
CH4 and C;H4 gases were the gases predicted with higher accuracy, with only a slight
deviation between experimental and simulated data. Whereas the H» gas was predicted with
the lowest accuracy, and this can be attributed to the experimental data not following a
clear trend. Despite that, the highest absolute error (3 %) obtained for H> was found for the

experiment whose ER was 0.22. Likewise, the model prediction revealed that the higher
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the ER the lower the H» yield was, which can be attributed to an increase in the ER leading
to higher the O/C ratio, thus more oxygen was available, favouring the oxidation reaction
[2, 7], as explained before. These results are in accordance with data reported in literature

[37].

Concerning RFB from Eucalyptus Type A (Figure 6), the model describes reasonably the
influence of ER on the concentration of gaseous species, following the same trend as that
observed for pine pellets. In addition, the error concerning differences between
concentration values predicted and measured is very low for most gases. However, the
model overestimates the concentration of Hz and underestimates the concentration of CHa,
for all ER studied. Typically, the model overestimates the concentration of H> in the
producer gas, when compared to the experimental results. Among the reasoning that can
explain this result can be an overestimation of the relevance of the water-gas shift reaction,
and its kinetics parameters must be further improved. However, that specific subject was
not analysed in detail in the present work, and must be further studied in future works. In
fact, it has been reported [6] that chemical equilibrium simulation of producer gas
composition also delivers overestimations of the concentration of H> when compared to

experimental results.

Figure 7 shows the comparison between the gas composition obtained with the
simulation model and experimental results from the pilot plant for eucalyptus type B, for
different ER. Note that for ER higher than 0.3 (conditions with lower biomass feed rate),
the model fails to give good predictions of the gas composition, together with prediction
of the existence of Oy in the gas product. This effect was more notable for CO and CO»
concentrations, where the model results deviation from experimental results leads to a
change in the trend of the gas composition with ER. Furthermore, H> was not predicted

with accuracy in all range of ER studied and the predicted concentration followed a distinct
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trend from that observed in the experimental results; the higher the ER the lower the H»
concentration predicted, while the experimental results showed the reverse trend. Similar
to that observed for gasification of Eucalyptus type A, the CH4 was underestimated and the

H, was overestimated.

Regarding RFB from pine (Figure 8), it can be observed that the model predictions,
that is in good agreement with the experimental results. However, in the same way as
before, the predicted H> concentration was overestimated, and shows the highest absolute

error prediction.

Table 6 also shows the carbon conversion efficiency (CCE) for both experimental and
predicted (model) results, which was calculated according to Eq (15), as the ratio between
the mass of carbon present in the gaseous compounds in the produced dry gas and the mass
of carbon present in the solid fuel fed to the reactor. The CCE is a commonly used
parameter in gasification process to deliver the fraction of carbon in the solid fuel that was
converted to permanent gases (CO, CO», CHa, light hydrocarbons) containing carbon. The
experimental results show lower values of CCE than the Model 1 predictions, but higher
values than Model 2 predictions. Moreover, a tendency for the increase in CCE with ER
was observed for both experimental [2] and model results, as explained by an increasing
degree of solid fuel conversion to light gases containing carbon (e.g., CO2, CO) in result

of the higher availability of O, with increasing ER.

G
"rg M ZitCiry;

\Y/
CCE(%)=— 100 (15)

mg"WCF

where Vg is the volumetric gas flow rate (Nm?/s) of the dry gas produced, P and T are
the absolute pressure (Pa) and absolute temperature (k) of dry gas, R is the ideal gas
constant (8.314J/(mol K)), Mc is the molar mass of carbon, index i means gaseous

compound (e.g., CO, CO,, CHs, C2H4) &Eci is the molar fraction of carbon in gaseous

29



507 compounds containing carbon (&¢co2=1, &co=1, € cns=1 and & c2ns4=2), yi is the molar
508 fraction of CO2, CO CH4, and C>Hs in the dry gas produced, mr is the biomass mass flow

509 rate (kg dry basis/S) adn wrc is the mass fraction of carbon in the biomass (kgc/Kg biomass dry

510 basis) .
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Figure 5. Comparison between the gas composition (vol.% dry gas) obtained with the

simulation Model 1 and experimental results from gasification of pine pellet biomass

with different ER, in the pilot-scale reactor [2].
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Figure 6. Comparison between the gas composition (vol.% dry gas) obtained with the

simulation Model 2 and experimental results from gasification of eucalyptus type A with

different ER, in the pilot-scale reactor [2].

a 30 b 30
) ) = Experimental data
254 254 ©  Model prediction
z §o ****** Model prediction trendline
o0
£ 204 5‘9\5‘7 i £ 201
B 8 3 . .
315 S 15| @Y° a
e Z -
= =
2 104 £ 10+ "o
o o
° 8
54 54
0 , . 3 : 0 , . . :
0.16 0.20 0.24 0.28 0.32 0.36 0.16 0.20 0.24 0.28 0.32 0.36
Equivalence Ratio (ER) Equivalence Ratio (ER)
C) 20 d) 10
~ = 8
g 151 )
z z
= ° 64
2 104 4 § n
"o
% e ; 41 °-8. -Q
3 TR £ ) "
2 [] = .0
< ] u - <« RN
54 =
= S 2 -
-0
0 . : . : 0 , : : :
0.16 0.20 0.24 0.28 0.32 0.36 0.16 0.20 0.24 0.28 0.32 0.36
Equivalence Ratio (ER) Equivalence Ratio (ER)
e ) 6 f) 80
= 70+
£ 4 # 60 ©
X ° 07" .
% °\= | O ]
2 3501 g0 7
3 |- <
32 I R - 2 404
<t >
= G0 4 P
© 0. 30
0 T T T T 20 T T T T
0.16 0.20 0.24 0.28 0.32 0.36 0.16 0.20 0.24 0.28 0.32 0.36
Equivalence Ratio (ER) Equivalence Ratio (ER)

Figure 7. Comparison between the gas composition (vol.% dry gas) obtained with the

simulation Model 2 and experimental results from gasification of eucalyptus type B with

different ER in the pilot-scale reactor [2].
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Figure 8. Comparison between the gas composition (vol. % dry gas) obtained with the

simulation Model 2 and experimental results from gasification of pine RFB with different

ER, in the pilot-scale reactor [2].
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Table 6. Char concentration predicted during gasification of the biomass types studied

and carbon conversion efficiency (CCE) for experimental results and model predictions.

Equivalence  Average bed Char CCE (%)

ratio  Temperature (Wt.%) Experimental Model

(ER) (°O) data  data

0.22 816 17 2.13 69.49 70.14

Pine pellet 0.24 802 £04 1.32 70.75 75.51
0.25 854 +06 0.81 78.85 80.78

0.30 833 +02 0.00 77.52  80.33

0.22 804 +07 2.54 77.09 72.86

0.24 798 £08 1.53 7990 7598

Fucalypiss 0.25 812 £05 0.80 7549  73.54
bpe 0.26 810 £09 0.30 70.78 73.16
0.28 818 £03 0.00 85.79 80.07

0.17 736 £19 4.82 63.57 59.27

0.18 709 +14 4.26 59.99 58.18

Fucalypius 0.20 719 21 2.93 69.91  64.65
ope 0.25 800 05 0.00 83.62 74.68
0.35 813 £14 0.00 87.54 80.80

0.23 786 £12 0.34 65.55 68.06

Pine RFB 0.26 811 £03 0.00 68.82 70.17
0.30 830 +02 0.00 7135 7147

3.2.2 Effect of temperature

In this section, it is analysed the accuracy of Model 2 results versus the gasification
temperature. As noted above, the gasifier temperature increased with ER. Thus, the
operating bed temperature is also a key parameter in direct gasification to optimize the
producer gas quality because the gasification reactions are mostly endothermic. In general,
and accordingly to Le Chatelier's principle, high temperatures favour the endothermic

reaction, while exothermic reactions are benefitted at low temperatures.

In this respect, the proposed model was validated for the four biomasses studied as

a function of gasification temperature. In the proposed validation, the results from the
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fluidized bed gasifier are relative to bed temperatures in the range of 700-860 °C. Figures
9, 10, 11 and 12 show the comparison of model predictions and experimental results for
the dry gas composition at different temperatures, and implicitly at distinct ER (see Table
2 for entries relative to ER and temperature), for pine pellet, eucalyptus type A, eucalyptus
type B and pine RFB, respectively. For the bed temperature range studied, the simulated

gas compositions are in good agreement with the experimental data for all biomasses.

Regarding pine pellet biomass (Figure 9), it can be observed that the overall trend
of the producer gas composition predicted by the model was similar to experimental results.
The highest deviations of the results are obtained for H» yield. In addition, no clear
influence of the temperature in the concentration of the different gases monitored is
observed; the concentration shows only slight variations with temperature. This fact can be
owing to variation in temperature between experiments being not large enough to see

differences.

For its part, the present simulation results for the eucalyptus type A (Figure 10),
were in good agreement with the experimental data. The highest deviations were obtained
for H, and CH4 which were overestimated and underestimated, respectively. Likewise, the
concentration of the gases analysed did not present any clear trend as function of the
temperature, and this can be explained by the narrow range of temperatures used (typically

within a range with an amplitude lower than 100°C).

In the case of eucalyptus type B (Figure 11), the agreement between simulation
results and experimental data depends on the operating conditions and the gas species
considered. With exception of the CO concentration in the whole temperature range and
CO» concentration in the lower temperature range, the model results show significant

differences relative to the experimental results. For the lower temperature range, there is
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little influence of the temperature on the concentration of the several gas species studied,
despite a slight trend to an increase in CO, CHs4, C;Hs and H> concentration with
temperature can be observed in some circumstances; on the other hand, the experimental
values of concentration of CO, CH4, CoH4 and H» show a trend to increase, whereas that of
CO tends to decrease. It must be noted that the concentration of char in the reactor bottom
bed predicted by the model also decreases from 5 to 0 wt.% (Table 6). Thus, this behaviour
may be explained by the fact that the Boudouard reaction and water gas reaction, are both
endothermic, and an increase in temperature promotes an increase in the products
generation, whereas, the water-gas shift reaction is exothermic, thus it is favoured at low
temperatures. Therefore, the trade-off between reactions can explain the behaviour
observed, as the increase of Hz and CO concentration with the temperature in the lower
temperature range. However, as explained before, the rise of bed temperature was resulting
from an increase in ER, thus, more oxygen was available, favouring the oxidation reactions,
and consequently the decrease of combustible gases such as CH4, CoH4, CO or Ha.
However, the model did not predict the corresponding increase on CO: concentration,
although the experimental results show an increase. This subject must be further analysed

in order to understand the true effect of the trade-off between the set of reactions involved.

Concerning the pine RFB (Figure 12), the predicted concentration in the producer
gas of various gaseous compounds is in good agreement with the experimental data, except
for H> and CoHs; the maximum absolute error in predicting experimental values was
obtained for H», namely 4.5%. The model results agree with experimental results
concerning the influence of temperature on producer gas composition. Nevertheless, there
is only a slight influence of temperature on the concentration of the gas species considered,

as also observed in the experimental results.
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simulation Model 2 and experimental results from gasification of eucalyptus type B
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simulation Model 2 and experimental results from gasification of RFB from pine for

different temperatures, in the pilot-scale reactor [2].

3.2 Effect of ER and bed temperature on tar formation
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One of the main technical barriers and problems related to biomass gasification is
the presence of tar in the producer gas. Therefore, it is of vital importance to have good
model predictions and experimental results relating tar formation. Nonetheless, despite
several technologies for tar quantification [4], it is often difficult and expensive to properly
quantify the tar in producer gas. At this stage, the numerical simulation could be a first
approach to predict the tar concentration in the producer gas; nevertheless, the models need

to be previously calibrated and validated.

In this context, considering the reasonable agreement between model results and
experimental data for several gaseous compounds as CO, CO>, CHs4, C2H4, CO or Ha, it
was opted to use the Aspen Plus model to simulate the tar concentration in the producer
gas under the gasification conditions analysed; however, it is not possible at this stage to
calibrate and validate the model with experimental results from the gasification
experiments in the pilot-scale fluidized bed, because that was not experimentally
monitored. Figure 13 shows the predicted tar concentration in the producer gas as a
function of ER and temperature for the conditions of the gasification experiments made in
the pilot-scale reactor (Table 2). The predicted tar concentration was between 20 and 42
g/Nm?, which is in accordance with tar concentration results reported in the literature
regarding biomass gasification [3, 18, 43-45]. An increase in the ER shows a beneficial
effect on reducing tar concentration, which can be explained in result of an increase in
oxygen availability to react with it. The simulation results also show that the increase in
temperature promotes a decrease in tar concentration, and this can be explained as resulting
from tar destruction reactions, as the partial oxidation or cracking reactions shown in Table
4. During eucalyptus type B gasification (biomass studied for a wider range of ER) the
predicted tar concentration showed a decreasing trend from 42 to 25 g/Nm® with the

increase of ER from 0.17 to 0.35.
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For similar values of ER, the predicted tar concentration during gasification of
eucalyptus type A and B was higher than for pine pellet and RFB from pine, which can be
associated with the characteristics of the biomass, that are model inputs; for example, a
higher content of volatile matter in the biomass can results in an increase in tar
concentration [46]. However, considering that the volatile matter content (around 69-78
wt.% dry basis) of the biomass types studied was not so different, perhaps other factors
come into play to justify the differences in tar concentration predicted, as for example the
particle size. According to Mani et al. and Kang et al. [47, 48], this fact could be attributed
to smaller particles have larger surface are leading to less diffusion resistance and better
heat transfer, favouring the production of tar due to the complete biomass pyrolysis. On
the contrary, when larger particle sizes are used, the reactions in the pyrolysis zone of the
gasifier are weaker than those of the smaller particle sizes. Therefore, pyrolysis is not
complete, resulting in a low tar yield. Similar results have been reported by Yin et al., [49]
who detected during the peach pruning gasification a decreasing trend from 550 to 14.43
mg/Nm? as the particle size increased from 1 to 6-8 cm. Finally, the tar concentration in
the producer gas for all biomasses and operating conditions studied herein, significantly
exceeded the standard for use in various industrial applications, such as fuel cells (1
mg/Nm?), compressors (50 to 500 mg/Nm?), internal combustion engines (50 mg/Nm?) and

gas turbines (5 mg/Nm?) [50].
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Figure 13. Model predictions of tar concentration in the producer gas during gasification

of the biomass types studied (conditions of Table 2): a) Effect of equivalence ratio and b)

4. Conclusions

In this work, direct (air) biomass gasification in a bubbling fluidized bed reactor was
simulated using Aspen Plus®. A kinetic mechanism, including the main solid and gaseous

compounds, including also tar, typical of biomass gasification was used to simulate the

effect of temperature.

43



678

679

680

681

682

683

684

685

686

687

688

689

690

691

692

693

694

695

696

697

698

699

700

701

process. It was evaluated how the kinetic mechanism with parameters from the literature
could describe experimental results obtained in a pilot-scale fluidized bed reactor, and how
adjustment of specific kinetic parameters of some reactions could improve the predictions
of the model, using a model calibration and validation approach. The adjusted model offers
suitable predictions of the gasifier performance under different operating conditions
(temperature and equivalence ratio) and for different biomass types. Amongst the gases
analysed, H> gas was predicted with the lowest accuracy, always being overestimated; the
highest absolute error obtained for H> was 4.4%. Moreover, the suitability of the model

predictions is limited for ER values equal or higher than 0.30.

The tar concentration predicted by the model simulations was between 20 and 42
g/Nm?® for all biomass types and operating conditions studied; the tar formation was
favoured at low ER and temperatures. In addition, for similar ER values, the predicted tar
concentration from gasification of eucalyptus was higher than that for pine pellet and pine
RFB, which can be related to the biomass particle size, with higher tar concentration

associated to the biomass fuel with smaller particles.
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