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1 Introduction

Part of this chapter is published in a modified form as: A. Kruse, F. Vogel, J.G. van Bennekom, R.H.
Venderbosch, Biomass gasification in supercritical water, in: Handbook Biomass Gasification, H.A.M.
Knoef (Ed.), 2012.

1.1 Environmental issues

Depletion of fossil fuel reserves and environmental issues urge for clean and renewable
chemicals and fuels. Biomass has great potential for the production of carbon neutral chemicals
and fuels. Methanol is an important platform chemical for the chemical industry and it also has
potential as a clean and renewable fuel. In this perspective, the production of methanol from a
renewable feed is very interesting.

1.2 Supermethanol project

The use of biofuels and other types of renewable energy in the transportation sector is
promoted by the European Commission (EC). The share of transportation fuel derived from
renewable resources is targeted at a minimum of 10% in 2020 [1]. It is expected that biodiesel
and ethanol will make up the lion’s share of the renewable transportation fuel as a result of the
EC directives. The European biodiesel production capacity has increased significantly in the
2000s [2]. As the production of every ton biodiesel roughly requires 100 kg methanol and yields
the same amount of crude glycerin, both the methanol demand and the glycerol production
increased. The economics of biodiesel production in the EU deteriorated, as among others the
income from the sales of the byproduct glycerol decreased.

An interesting option addressing the surplus of glycerol and the demand for methanol is to
produce methanol from glycerol by the biodiesel producer itself. In this way the biodiesel
producer becomes less dependent on the methanol spot price, establishes partial security of
methanol supply, and uses its own byproduct as a green and sustainable feed. However, the
scale of traditional methanol synthesis (> 2000 t/d) is much larger than the scale of methanol
synthesis required for a biodiesel plant. Conventional methanol synthesis is operated at large
scale due to:
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Large scale requirements for reforming reactors
Extensive gas cleaning

Recycling of unconverted syngas

The need for methanol purification

VVVY

The Supermethanol project was initiated to develop a cost-effective process for small and
medium scale methanol synthesis which can be integrated with an existing biodiesel producing
facility [3]. The production of glycerol, as resource for syngas, in the biodiesel plant is in the
range of 3000 to 10,000 t/y. The process for glycerol conversion to methanol is from here on
referred to as the Glycerol-to-Methanol (GtM) concept or process.

The scope of the GtM-concept is schematically outlined in Fig. 1.1. In a biodiesel plant,
vegetable oil reacts with methanol in the presence of a catalyst to produce biodiesel and
byproduct glycerol. The glycerol is then converted into methanol using the GtM-process. This
process is an integration of two separate processes, viz. glycerol reforming in supercritical water
(RSCW) to syngas followed by the conversion of this syngas into methanol. In the conversion of
glycerol into syngas some fuel gas is produced as byproduct, which can be used to produce heat
for the biodiesel production or the GtM-process itself.
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Fig. 1.1 Outline of the Supermethanol concept. The GtM-process is the process under investigation in the
Supermethanol project.
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Introduction

In this chapter an introduction to the two processes that are part of the GtM-concept is given.
Some background of the individual processes will be given, before attention is paid to the
integration of the two processes.

1.3 Reforming in supercritical water

1.3.1 Supercritical water
Water becomes supercritical at conditions above its critical temperature (T, = 647 K) and critical
pressure (P. = 22.1 MPa). In the phase diagram in Fig. 1.2 the square area in the upper right
corner represents the supercritical area of water [4]. Supercritical water (SCW) is very reactive.
Various processes to convert biomass into solids, liquids, or gases are under development [5-
9]. In so-called hydrothermal liquefaction biomass is degraded to mainly bio-crude, a viscous
water-insoluble oil, at subcritical temperatures and pressures above the saturated vapor
pressure of water [8]. Byproducts are char, water-soluble substances, and gas. Hydrothermal
carbonization aims at the production of solid charcoal with water soluble components as
byproducts [8]. Finally, reforming in supercritical water is aimed at gas production. Typical
process conditions for liquefaction, catalytic reforming and high temperature reforming are
indicated in Fig. 1.2.

40
(Supercritical)
30 . Catalytic High temp.
7 (Liquid) . reforming reforming
F | ...
é 20+ Critical point
o Liquefaction
104
(Vapor)
O T T T T T T
273 373 473 573 673 773 873 973
T (K)

Fig. 1.2 Phase diagram of water. Phases are indicated in parenthesis. Hydrothermal processes with their
typical conditions are indicated in the colored areas. This figure was originally published in ref. [4] and is
reproduced by permission of The Royal Society of Chemistry.

In this dissertation the focus is on the RSCW of biomass which takes place usually at
temperatures in the range of 650 — 1000 K and pressures exceeding the critical pressure. The
temperature range can be roughly subdivided into catalytic and noncatalytic reforming.
Catalytic reforming aims at the lower temperature while noncatalytic or high temperature
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reforming usually requires higher temperature to ensure high/complete conversions.
Furthermore, SCW can be used as reaction medium for the destruction of hazardous organic
waste in water (often in combination with external oxygen) and for organic synthesis reactions.

At supercritical conditions water has some distinct other properties than water at ambient
conditions. Some properties of water at a pressure of 30 MPa are illustrated in Fig. 1.3 [4, 10,
11]. The density (p), dielectric constant (¢), ionic product (Ky), and viscosity (not shown in Fig.
1.3) of water are important properties that determine the applicability of water for different
processes. When the critical point of water is exceeded, the density drops significantly. The
density of SCW, however, is relatively high compared to the density of a gas. The dielectric
constant of water depends on the temperature as well and decreases with increasing
temperature. Just as the density, the dielectric constant is one of the parameters that influences
the solubility of (nonpolar) organics in water [12].

Water changes from a polar solvent at ambient conditions to a nonpolar solvent in the
supercritical region. Organic compounds such as benzene and n-pentene become soluble in
SCW, while the solubility of inorganic salts such as KCI, NaCl, and Na,CO3 decreases strongly
[13]. Furthermore, SCW is miscible with permanent gases as N,, H,, CO, CO,, and O, [14-16]. The
ionic product of sub- and supercritical water can be 2 to 3 orders of magnitude higher than that
of water at ambient conditions. The higher values of the ionic product around the critical
temperature may play a role in acid or base catalyzed reactions due to the higher concentration
of H30" and OH™ [15]. The viscosity of SCW is close to the viscosity of a normal gas and the
diffusion coefficients are at least an order of magnitude higher than the diffusion coefficient of a
liquid, enhancing the mass transfer characteristics of SCW [14]. Due to these properties of SCW,
water is believed to act as catalyst, reaction medium, and reactant [4].

-10
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o~ 6004 ~
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= 400 4
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Fig. 1.3 Relevant properties of water at 30 MPa. lonic product (K,,), density (o), and dielectric constant (&)
[4, 10, 11].
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1.3.2 Advantages of reforming in supercritical water

The first literature on RSCW was published in the 1980s, when Modell et al. described
experiments involving the quick immersion of maple wood sawdust in SCW [17]. Later work
showed that at temperatures exceeding 1000 K most biomass is effectively converted into gas.
Since the pioneering work by Modell, research to RSCW has increased tremendously. The
feedstocks under investigation ranged from model compounds, such as methanol, glycerol,
glucose, and lignin to real biomass, such as agricultural residues, bagasse, wood, algae, sewage
sludge, and chicken manure [18, 19]. Research was on the one hand dedicated to gaining insight
into the decomposition mechanism of organic (model) compounds or biomass and on the other
hand to maximizing the production of H,, CH,, or a syngas like gas [20, 21]. The current state of
the art of RSCW has been reviewed extensively in several publications in the 2000s [4, 14, 16,
18, 22-25]. The main advantages of RSCW technology are:

» Counter current heat exchange can be used over the complete temperature range of the
process with high efficiencies.

» Wet biomass and liquid streams can be converted without prior drying.

» Complete biomass conversions can be obtained.

» The gas produced is clean due to the high solubility of H,S and NHs in pressurized water
and free of tar.

» The gas produced is not diluted with N, or other inert gases.

» The gas composition can be steered depending on the process conditions.

» Agasis produced at high pressure which can be beneficial for follow-up processes.

RSCW can be an environmentally friendly process and this has been confirmed by two life cycle
assessments and a comparison with other biomass conversion technologies [26, 27]. Overall,
the assessment of the RSCW process in terms of consumption of resources, acidification, and
particle emission is very positive.

Without considering the low-temperature heat of the products, energy efficiencies of the
different approaches and process designs varied between 44 and 65% and exergy efficiencies
were in the range of 41 — 52% [28-32]. A comparison with fermentation appears favorable from
an energy efficiency point of view, but at significantly higher costs [30]. Importantly, heat
recovery is crucial, as this will have a major effect on energy efficiency.

1.3.3 Influence of reaction conditions and type of biomass
In reforming at temperatures below 573 K and without the addition of a catalyst, the gas yield is
low, as liquid production is usually favored [22, 33]. Higher temperatures lead to (increased) gas
formation, higher conversions, and reduced charring and re-polymerization. In some systems,
the gas composition is substantially dependent on the temperature as higher temperatures also
promote gas phase reaction rates [34, 35].

Residence times required to achieve sufficient conversion are a function of the operating
temperature and the presence of a catalyst. At low temperatures, around 773 K, residence

5
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times in the order of several minutes are typically necessary to allow complete conversion of
the feedstock in noncatalytic reforming, while seconds are sufficient at temperatures > 923 K
[36, 37].

The more complex the biomass structure (for example defined by the number of carbon
atoms) and the higher its concentration, the more coke is usually produced (which can lead to
reactor plugging), and the higher the CH; concentration in the product gas. For some
components the gas yield decreases with increasing feed concentration. The conversion of
glucose and lignin decreases significantly at higher feed loadings [35, 38]. Repolymerization of
feed molecules and intermediates, instead of cracking and further reforming, then seems to be
a reaction pathway of major importance which is not the case for dilute feedstocks [23]. The
decreasing yield for larger organic molecules may also be due to a dramatic change in solubility
of the feedstock or intermediate products in SCW, leading to deposition of the feedstock (and
subsequent repolymerization and charring), even before any reforming reaction has taken
place. Such significantly lower gas yields at higher feed loading are observed mainly for more
complex molecules such as cellulosic biomass, lignin, and glucose, but this phenomenon may
not be true for all components. For example, for smaller molecules such as methanol or glycerol
less dramatic changes in the relative yields as a function of the feed loading have been reported
[37, 39]. This can be explained by the reaction pathways leading to gas formation. Intermediates
showing significant polymerization are furfurals formed from pentoses, hexoses, and phenols
[40]. Compounds which are not able to form furfurals like glycerol or methanol should therefore
show a lower tendency for re-polymerization than glucose or lignocelluloses.

1.3.4 Dedicated catalysts

Catalysts can significantly promote decomposition and influence the gas composition. Several
sources can be catalytically active, such as the reactor wall itself, homogeneous catalysts (salts
present in the feed), or dedicated heterogeneous catalysts [22, 34]. For example, the presence
of small amounts of dissolved Na*-ions promotes the water-gas shift (WGS) reaction [24, 34]. In
guartz tubes an increased conversion was observed after addition of Inconel 625 powder, a
commonly applied reactor material. In the presence of a heterogeneous Pt/Al,0; catalyst, high
H, and CO, yields were obtained from model compounds, while metals such as Ru, Ni, and Pd
promote methanation [22].

Such catalysts are usually very active in RSCW, but also influence the overall reforming
process in different ways: (i) affecting the carbon-to-gas efficiency (Cse), and/or (ii) influencing
the gas phase composition and/or (iii) changing the reaction mechanism. Even more
complicating, catalysts are hardly stable for long operating times under the harsh conditions of
RSCW and appropriate support materials are required [22]. Also nonmetallic catalysts have
been found to be active, such as activated carbon [41].

Catalysis can thus play a key role in further development of RSCW as it may significantly
reduce required operation temperatures and enables steering of the gas yields and conversions.



Introduction

Another important aspect of RSCW is the catalytic effect of salts. These salts are usually part of
the biomass fed to the reactor. Their effects are discussed in the next section.

1.3.5 Presence of salts
Salts can be present in biomass as ash or as catalyst residue in for example crude glycerin. The
most important role of salts, in particular alkali salts, is the catalysis of the WGS reaction [22]. In
fact, only in the presence of salts the high H, yields predicted by thermodynamic calculations
are reached. Natural biomass usually contains such alkali salts, therefore the gas composition in
experiments using natural biomass will generally be closer to equilibrium than in case of e.g.
pure glucose reforming [24, 42].

Preventing reactors from plugging by salt precipitation appears a major challenge in biomass
reforming. The salt concentration, the nature of the salts and understanding the seed crystal
formation and crystal growth are important parameters for salt behavior in SCW [43, 44].

1.3.6 Main challenges

Corrosion: Universal challenges in RSCW are corrosion and problems with salt deposition. In
RSCW, H, is formed, which is known to be able to change the mechanical stability of metals. In
the RSCW of methanol, corrosion of the reactor tube (Ni based alloy) was observed after more
than 1000 h of operation [45]. Corrosion behavior depends among others on reactor material,
process conditions, and type of biomass. For protein-containing biomass, severe corrosion was
found, likely because of the sulfur in the biomass [46].

Pumping: The biomass has to be pumped to enter the setup and to reach the desired
pressure. The type of pump (membrane, piston, etc.) and in particular the pump valves have to
be selected carefully. Liquid streams are preferred. Solid biomass must be conditioned to a
pumpable slurry, dispersion, or aqueous solution.

Salt and ash deposits: Reduced solubility of salts in SCW leads to plugging. This is problematic
especially if the tube diameters are small and the flow velocity is low. When using
heterogeneous catalysts, plugging is even more critical, as the free diameter is even smaller, but
also because catalyst poisoning by the salts fed in with the biomass is expected [47]. For both,
plugging and catalyst poisoning, it is required to conceive a process that separates the salts
before they get into contact with the heterogeneous catalyst. A reverse-flow vessel was shown
to be able to separate a large fraction of the salts present in the feed stream and to yield a
concentrated brine [43].

Energy efficiency: A crucial point is the efficiency of heat exchange in the process. Without
efficient heat exchange, the RSCW process would not make sense from an energetic point of
view. The heating rate of the feedstock should be higher than achieved by a heat exchanger, as
for some reactants low heating rates may lead to unwanted reaction products like tars thereby
reducing the gas yield [24]. As a solution, pure water can be heated by the heat exchanger,
which is then mixed with the biomass [24].



Chapter 1

Cost and acceptance: Although research and development has started in the 1980s, the interest
for a technical application in industry is low. The main reasons are the high investment costs
and the risk of using such a new technology [48]. In particular, the combination of a process
temperature up to or above 873 K and a pressure of 30 MPa is regarded as a negative aspect of
the technology.

1.4 Methanol synthesis

1.4.1 Synthesis reactions

Containing only one carbon atom, methanol is the simplest of all alcohols, but in spite of its
structural simplicity methanol has a wide variety of applications. Methanol is among others
used to produce: formaldehyde, acetic acid, dimethylether, methyl-tert-butyl-ether, and
gasoline (methanol-to-gasoline-process). Furthermore it is used in biodiesel production and can
be used directly as fuel additive or fuel in an internal combustion engine. Methanol is mostly
produced from syngas which consists of predominantly H,, CO, CO,, and CH; and is mainly
derived from natural gas or coal. In 2007, the global methanol production amounted 38 Mt and
is forecasted to grow to 60 Mt in 2015 according to the Methanol Institute [49]. Methanol
synthesis is dominated by three main reactions: (i) the hydrogenation of CO (Eq. 1.1), (ii) the
(reverse) WGS reaction, and (iii) the hydrogenation of CO, (Eg. 1.3):

CO+2H, = CHsOH A,HS, =-90.64 kl/mol (Eq. 1.1)
CO,+H, == CO+H,0 A,HS, = +41.17 ki/mol (Eq. 1.2)
CO,+3H, =  CH;OH+H,0 A,HY, =-49.47 kJ/mol (Eq. 1.3)

The reactions are equilibrium reactions and their progress is restricted by thermodynamic
equilibrium. Only two of the reactions are independent and suffice to determine the equilibrium
composition. Both methanol synthesis reactions are exothermic and proceed under volume
contraction. To reach full conversion of reactants, the ratio between CO, CO,, and H, is very
stringent. An important parameter describing the quality of the syngas for methanol synthesis is
the stoichiometric number (Sy) defined as [50]:

_ (H,-CO0,) (Eq. 1.4)
N (CO+CO,)

With Sy equal to 2, all reactants can be converted into methanol. For Sy > 2, CO+CO, are the
limiting components, while for Sy < 2, H; is limiting. In Fig. 1.4 the equilibrium conversion of
CO+CO, is shown as a function of the temperature at different pressures for a gas composed of
H,/CO/CO,/CH,s = 67/24/4/5 vol% (Sy = 2.25). As can be seen in the figure the equilibrium
conversion increases with increasing pressure and decreasing temperature. Therefore, high
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pressure and relatively low temperatures are the most favorable reaction conditions from a
thermodynamic point of view. Reaction rates, however, increase with increasing temperature
and the optimal operating conditions are a subtle balance between the positive and negative
effects of temperature on kinetics and thermodynamics respectively.

100 " This work

BASF high pressure

80 - methanol synthesis
9
< 60
o
Q
[s]
&
P 40 25 MPa

20 MPa

20 4 15 MPa

Conventional low pressure

methanol synthesis 10 MPa

5MPa

T T T T T T T
463 503 543 583 623

Fig. 1.4 Equilibrium conversion of CO+CO, as a function of the temperature for different pressures. The
condition ranges of the various processes are roughly indicated. Gas composition: H,/CO/CO,/CH, =
67/24/4/5 vol%.

1.4.2 Industrial methanol synthesis

The first commercial methanol synthesis plant was erected in 1923 in Ludwigshafen by BASF.
Operating pressures were between 10 and 25 MPa and operating temperatures between 573
and 673 K [51]. This process is generally referred to as ‘high pressure methanol synthesis.” High
temperature and high pressure were required because of low catalyst activity. Since then, a lot
of research has been dedicated to enhance catalytic activity. Cu containing catalysts were found
to be more active than the conventional high pressure catalysts (ZnO/Cr,03), but these catalyst
were (too) sensitive to sulphur and metal carbonyl poisoning. With the availability of improved
syngas purification techniques and better process control (particularly preventing hot spots) Cu
based catalysts came into industrial use by Imperial Chemical Industries Ltd. (ICl) in the 1960s.
The use of the new catalyst allowed the operating pressure and temperature to be reduced to 5
— 10 MPa and 500 — 563 K [51]. In this ‘low pressure process’ the conversion of syngas into
methanol is restricted to approximately 30 — 70% per pass through the reactor. Recycling of
unconverted syngas is thus required. In a typical ICI plant the recycle ratio between make-up gas
and recycle gas varies between 1 : 3 to 1 : 4 depending on the operating conditions and the
composition of the syngas [51]. The operating conditions of BASF’'s high pressure process,
conventional methanol synthesis (for example the ICI process), and the conditions envisaged for
the Supermethanol project are shown in Fig. 1.4.
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The trend in (gas phase) methanol synthesis is to lower temperatures and pressures, as gas
compression is costly. In this work, however, high pressure methanol synthesis is under
investigation again. In RSCW of glycerol a syngas comes available at high pressure. This syngas
at high pressure can be used directly in methanol synthesis avoiding the energy intensive
compression step. Advantageously, high pressure methanol synthesis can be operated in a
once-through mode, avoiding recycles and purge streams to prevent the build-up of inert or less
reactive components.

From a kinetic point of view there is also an advantage, as with increasing pressure the
fugacities (or partial pressures) increase, leading to higher reaction rates. Due to the
exothermicity of the reaction the formation of hot spots should be prevented by sufficient
cooling. High pressure and high reaction rates lead to a reduction of the volume of the
methanol synthesis reactor, though they will require larger wall thicknesses of the equipment.

1.4.3 Literature on methanol synthesis

The first publications (1920s) in the open literature on methanol synthesis deal predominantly
with equilibria for methanol synthesis from CO (Eq. 1.1). Different approaches in the
determination of these equilibria were undertaken. The equilibria were calculated theoretically
by minimization of the Gibbs free energy [52, 53] or determined experimentally [53-62]. The
majority of these experimental equilibrium constants are collected in Fig. 1.5. The equilibrium
constants measured at elevated pressure were corrected with fugacities obtained using the
Lewis & Randall rule. Discrepancies between different publications are relatively large as not all
investigators measured exit gas compositions and considered relevant side reactions which are
likely to proceed at such conditions [63]. The theoretical calculation performed by Graaf et al.
[64] represents approximately the average value of the equilibrium constants for all the ‘earlier’
measurements performed. Detailed investigations of experimental high pressure equilibria do
not exist at the (favorable) combination of high pressure (> 15 MPa) and low temperatures (<
523 K).

Although methanol synthesis is a mature process, there is still some controversy about the
mechanism and primary carbon source of the methanol synthesized over Cu based catalysts and
the influence of CO, on the reaction rate. Literature can be divided in three groups, viz. CO as
the primary carbon source [65], CO, as the primary carbon source [51, 66, 67], or both [68-70].
Currently the prevailing view is that CO, is the primary carbon source which is also confirmed by
isotopic labeling of the Cand O in CO and CO, [66].

10
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Fig. 1.5 Literature data on the chemical equilibrium of methanol synthesis from Eq. 1.1.

0, Von Wettberg and Dodge [62]; «, Audibert and Raineau [54]; <], Lewis and Frolich [57]; @, Brown
and Galloway [53]; O, Smith and Hirst [61]; B, Smith and Branting [60]; A\, Lacy et al. [56]; A, Newitt
et al. [58]; v, Ewell [55]; %, Newton and Dodge [59]; the line is the theoretical equilibrium calculated by
Graaf et al. [64]. Equilibrium constants were measured at pressures between 0.1 — 20.0 MPa and
corrected for the pressure if necessary.

The influence of CO, on methanol synthesis kinetics remains a topic of debate. Contradictory
results were obtained by several researchers, such as promoting effects [66, 71, 72] or
deactivating effects with increasing CO, concentration [65]. A similar discussion exists for the
promoting or inhibiting effects of H,0 [65, 70].

The activity of the catalyst is determined by the composition of the catalyst (even though the
main active element is Cu in all publications dealt with in this section), the ratio between the
active components and support, and the preparation procedure [73]. In general, proper
catalysts for methanol synthesis possess high metal dispersion, large surface area, and ultrafine
or nanostructured active metal sites to prevent agglomeration of active sites [74].

1.4.4 Influence of process conditions on methanol synthesis

Higher process temperatures result in decreasing methanol yields at equilibrium. The reaction
rates increase with increasing temperature [68]. In several reactor systems, reaction rates up to
523 K are too low to achieve equilibrium [75, 76]. Lower space velocities result in high methanol
yields which can reach the equilibrium vyields. Increasing the space velocity appears to have
different effects on the CO and CO, conversion [51]. CO conversion decreases more rapidly with
increasing space velocities, while the CO, conversion remains relatively constant. Increasing
space velocity thus, changes the consumption ratio of CO and CO,, over Cu/ZnO/Al,Os; or
Cu/Zr0, [51, 77].
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Industrially, strict limitations are imposed on the syngas composition, to prevent the build-up of
inert components in the recycle loops. The ideal Sy is 2.10 < Sy < 2.15, with a CO, content of 2-
10% which is necessary to increase the reaction rate [78]. Syngas derived from biomass has a
composition deviating from the ideal Sy value of 2. Generally, glycerol derived syngas is
deficient in H,, has a relatively high CO, content, and contains CH4 [20]. Such a gas, thus,
requires additional treatment to obtain a Sy around 2 and to prevent build-up of components in
the recycle loop. Treatments can, for example, be the addition of supplementary H, or the
removal of excess CO,. A consequence of the hydrogenation of CO, is the formation of water as
a byproduct and the suppression of the formation of higher alcohols [63].

1.5 GtM-concept and perspective

The combination of syngas production in an RSCW process followed by syngas conversion in
methanol synthesis is the core of the Supermethanol process. In the RSCW of glycerol a high
pressure syngas is produced by feeding a liquid and the use of this high pressure syngas has
distinct consequences for methanol synthesis. However, before successful integration can be
carried out both processes need to be optimized separately. A setup was available to investigate
both processes separately and integrated, and the majority of the experimental work was
conducted with this setup.

The relevance of the project described in this dissertation, however, is beyond the
production of methanol from glycerol for the re-use in biodiesel production only. The feedstock
for the reforming process in this dissertation is glycerol, but several types of biomass (preferably
liquid) including aqueous phase fractions from pyrolysis oil upgrading, black liquor, etc. can be
used for the reforming process. When these types of feedstocks are ‘green’, renewable
methanol can be produced, which is a promising process for the (near) future.

1.6 Thesis outline

The work described in this dissertation focuses on reforming in supercritical water, methanol
synthesis and the GtM-concept, which is the common theme throughout the dissertation.
Finally, the GtM-concept will be demonstrated experimentally. To realize this objective an
extensive dataset including glycerol conversions, gas compositions, syngas conversions,
equilibria in methanol synthesis, methanol synthesis kinetics, etc. is required. First the individual
processes, glycerol reforming and methanol synthesis, were studied, before these processes
were integrated for the experimental demonstration of the GtM-concept. In the future the
dataset provided in this dissertation can be used as the basis for a detailed design of a GtM-
plant.

12
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Several aspects of the reforming process and the methanol synthesis are addressed. Chapter 2
deals with an extensive study to the reforming of glycerol and methanol (as model component)
focusing on gas compositions/yields that can be obtained from these components.

In Chapter 3 the catalytic reforming of glycerol is described. In this chapter the influence of
several catalysts on the conversion and gas composition/yield is addressed. The focus lies on
improving the gas composition derived in noncatalytic glycerol reforming.

In experiments in a view cell reactor (Chapter 4) methanol condensation was observed which
has huge consequences for the equilibria in methanol synthesis. In Chapter 5 a solution method
is described to calculate the equilibria in methanol synthesis taking the formation of a liquid
phase into account. A modified Soave-Redlich-Kwong equation of state fitted to phase equilibria
of binary mixtures is used to correct for nonideality.

The focus of Chapter 6 is on high pressure methanol synthesis. Methanol synthesis aiming for
high conversions was investigated experimentally. The consequences of the formation of the
liquid phase are further elucidated with the results obtained in this chapter.

Finally, in Chapter 7 the GtM-concept is validated experimentally by the integration of RSCW
of glycerol and high pressure methanol synthesis. In Appendix C and D two preliminary studies
to production rates of methanol and water are presented.
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2 Reforming of methanol and glycerol in supercritical water

This chapter is published in slightly different form as: J.G. van Bennekom, R.H. Venderbosch, D. Assink,
H.J. Heeres, Reforming of methanol and glycerol in supercritical water, J. Supercrit. Fluids, 58 (2011) 99-
113.

Abstract

Reforming of pure glycerol, crude glycerin, and methanol (pure and in the presence of Na,COs)
in supercritical water was investigated. Continuous experiments were carried out at
temperatures ranging from 723 — 923 K, residence times between 6 — 173 s, and feed
concentrations of 3 — 20 wt%. For methanol the gas products were mainly H,, CO,, and CO. The
carbon-to-gas efficiency and the observed activation energy for pure methanol were higher
than for methanol with Na,COs. This can be explained by assuming different decomposition
mechanisms for pure methanol and methanol with Na,COs. For glycerol, H,, CO, CO,, CH,4, and
higher hydrocarbons were produced. The carbon-to-gas efficiencies of crude glycerin and pure
glycerol were comparable. Overall at complete conversion, 2 of the 3 carbon atoms present in
glycerol end up as carbon oxides, while 1 carbon atom becomes CH,. Then, the mechanism of
glycerol decomposition involves the dehydration of 1 mol of H,O/mol glycerol. For both,
methanol and glycerol at carbon-to-gas efficiencies below 70%, the gas yields (mol/mol feed)
and carbon-to-gas efficiency correlate well.
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2.1 Introduction

Research on renewable and sustainable energy resources is receiving a high interest currently
due to environmental concerns and depletion of fossil fuel reserves. A wide range of
alternatives is actively explored to produce green and versatile energy carriers from biomass.
Reforming of biomass in supercritical water, denoted RSCW here, is such a versatile technique.
The objective of this technique is to convert preferably liquid biomass into H,-rich gas, CHs-rich
gas, or syngas. Supercritical water (SCW) has unique properties, making it an excellent reaction
medium for such reforming reactions. Water at or above the critical point is used to dissolve the
biomass and acts as the reaction medium. Degradation of the biomass resource in SCW is very
rapid and since most reaction intermediates are soluble in SCW, coke formation can be
suppressed [1]. RSCW has some other distinct advantages, highlighted in several comprehensive
reviews [2-11]. The most striking ones are:

» Wet biomass streams can be converted to gas without prior drying.

» Counter current heat exchange between feed stream and reactor effluent can be used
for efficient heat integration.

» The gas is clean and tar formation is suppressed.

» The product gas becomes available at high pressure.

An attractive feedstock for RSCW is glycerol, a byproduct in biodiesel production. Glycerol can,
for example, be converted through syngas into methanol that can be re-used in the biodiesel
process [12]. The economic value of the product gas from the RSCW of glycerol for subsequent
methanol synthesis strongly depends on its composition and syngas rich in H, containing a
significant amount of CO is preferred from a kinetic point of view [13]. RSCW of crude glycerin,
containing insoluble catalyst residues (e.g. Na* and K*) entails operational challenges because of
a low solubility of the inorganic catalyst residues in SCW [14]. Additionally, the gas mixtures
produced in the RSCW process are rich in H, and CO,; instead of the preferential syngas-like
composition [15, 16]. Insight in the factors that determine the gas composition for RSCW of
glycerol is lacking due to the complex decomposition pathways at molecular level [17].

In this chapter, an experimental research study is conducted to gain more insight in the
RSCW of glycerol and to investigate options to steer the gas composition. Due to the complexity
of RSCW of glycerol, RSCW of methanol with and without inorganic salts is investigated as well.
Methanol can be considered a less complex model compound for glycerol. The results of the
experimental work on RSCW of methanol (with and without Na,COs), pure glycerol and crude
glycerin will be provided and the effect of process conditions and feed concentration on the
carbon-to-gas efficiency (Cse) and gas yield will be discussed. The influence of the Csr on the gas
yield and indirectly the gas composition is addressed to enable steering of the RSCW process
towards an ‘optimized syngas composition’ for the subsequent methanol synthesis process.
Finally, insights in decomposition pathways to gas phase products are provided. Before the
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experimental work is discussed in more detail, a short literature review is presented on the
state of the art of RSCW in general, followed by details on the RSCW of methanol and glycerol.

2.2 Literature review

2.2.1 General aspects of RSCW

RSCW is characterized by the occurrence of various reactions, proceeding both in series and in
parallel. The overall reaction of an actual feed to liquid and gas phase products is shown in Eq.
2.1.

CHO,+aH,0 — aCO+f Hy+y CO;+05H0+¢eCHy+1m CeHyOy (Eg. 2.1)

Byproducts (C¢HyO,) are low molecular weight organic compounds, polymerized products,
higher hydrocarbons (x’ 2 2, 2 = 0), or elemental carbon (y’ =z’ = 0). Some of the low molecular
weight organics can react further to gas phase components. Subsequent reactions of the gas
phase components may also occur. The following (reversible) gas phase reactions may occur,
depending on process conditions [18]:

CO,+H, = CO+H,0 (reverse water-gas shift reaction) (Eq. 1.2)
CO+3H, = CH;+H,O0 (CO methanation) (Eq. 2.2)
CO, +4H, ¥ CH;+2 H,0 (CO, methanation) (Eq. 2.3)
2CO = CO,+C(s) (Boudouard reaction) (Eqg. 2.4)
CH4 = C(s)+2H,  (CH4cracking) (Eg. 2.5)
CO+H, +& C(s)+H,O (COcoking) (Eg. 2.6)

Obviously, the individual reaction rates depend on operating conditions and the presence of
catalysts. A number of parameters affect the Cge in RSCW, such as feedstock type, feed
concentration, operating conditions, presence of catalysts or catalytic surfaces, and interaction
between different components.

In the literature on RSCW two different definitions of conversion are used. The conversion
can either be based on the amount of carbon in the gas phase after reaction (Cge), or the
residual amount of carbon in the liquid effluent (conversion, ). When coke formation or char
deposition is absent, both approaches will yield similar values.

Biomass feed concentration

The biomass concentration is a critical process parameter in RSCW. It appears that the Cg¢ for
glucose, wood saw dust, or lignin decreases significantly at higher feed concentrations [10, 19-
22]. Char formation or polymerization seems to become an important reaction pathway at
higher feed concentrations and finally leads to reactor plugging [23-25]. This effect can be
reduced by substantial (gas) back-mixing inside the reactor, allowing for in situ hydrogenation of
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the feed before polymerization occurs [25]. The decreasing gas yield for glucose at high
concentration may be due to changes in solubility of the feed or the formation of intermediate
products in SCW. Another explanation is that polymerization reactions are higher order
reactions and promoted at higher feed concentrations. Both explanations lead to deposition of
the feed even before any gasification reaction takes place. Interestingly, associated problems
related to plugging due to high feed concentrations are reported to reduce by increasing the
operating temperature, indicating that that polymerization and char formation can be
suppressed [24]. The phenomenon of decreasing gas yields at higher feed concentrations may
not be generic for RSCW, for example, small molecules such as methanol or glycerol give much
less dramatic or even no changes in relative yields at higher feed concentrations [15, 26-28]. A
conversion of 94% for a 64 wt% methanol solution has been obtained and complete conversion
for a 40 wt% glycerol solution over a Ru/Al,O; catalyst has been reported, with gas
compositions coinciding nicely with equilibrium values [15, 26, 29].

Process conditions

The conversion of any type of biomass is a strong function of temperature. Higher temperatures
lead to higher conversions and a reduced tendency for charring and polymerization. The gas
composition will vary as well, due to the effect of temperature on the reaction rates of gas
phase reactions and the temperature dependency of the equilibrium constants [19, 30].

At higher operating pressures, CH, production at the expense of H, is thermodynamically
favored [27]. This is indeed observed for methanol and glucose [18, 31, 32]. However, at most
conditions the reactions are kinetically driven, chemical equilibria are not always reached, and
pressure has no great effects on the gas composition [33, 34]. Residence times required to
achieve sufficient conversion are a strong function of the operating temperature and the
presence of a catalyst. At lower temperatures around 773 K, typically residence times in the
order of minutes are required to achieve complete conversion of the feed [32]. At 973 — 1073 K
in the presence of catalysts such as Ru/Al,0s3, complete conversion can be obtained in seconds
[15]. The definition of residence time here should be treated with care, since in most
publications the residence time is calculated using the average process temperature, pressure
as well as the assumption that the whole feed consists of water without considering the gas

production. This is an acceptable assumption as the ‘real’ residence time is very difficult to
determine and strongly related to the local conditions in the reactor.

Catalysts

Reactions in RSCW can be catalyzed by heterogeneous catalysts, ash, and even reactor walls.
These catalysts can be very active in promoting the Cgg, the water-gas shift (WGS) reaction, or
methanation [15, 22, 23, 35, 36]. An extensive review on catalytic reforming is provided
elsewhere [4]. Various components present in the ash of biomass, particularly alkali salts are
reported to be active [4, 6, 35-37]. The rate of the WGS reaction has been shown to increase by
the presence of Na'-ions, while the Csr was not enhanced [19]. Literature results are
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contradictory though, as lower gas yields are reported for glycerol in the presence of Na,CO;
compared to pure glycerol [38]. Apart from heterogeneous catalysts and ash, inner reactor parts
like reactor walls are also shown to be catalytically active [19, 22, 23, 26]. The use of different
reactor materials by different researchers complicates the understanding and comparison of
literature data.

Plugging

Reactor plugging can occur due to char formation or polymerization of reforming products, as
already discussed in the section on biomass loading. Precipitation of inorganic salts is another
likely source of reactor plugging and it is a major challenge in the development of RSCW to
prevent this. At higher temperatures, salts become less soluble in SCW and precipitate causing
plugging of reactor tubes [14]. Salt concentration, salt type, the rate of seed crystal formation,
and crystal growth are important parameters for salt behavior in SCW [7, 35, 39, 40].

2.2.2 Methanol reforming in supercritical water

A possible reaction pathway for methanol decomposition and follow-up reactions is shown in
Fig. 2.1 [41]. In this hypothesis, methanol either decomposes directly into H, and CO or reacts
with water to produce H, and CO,. CO reacts with water to produce CO;, and H, in the WGS
reaction, while CHy is produced by hydrogenation of CO or CO,. Theoretically 3 mol of H, can be
produced from 1 mol of methanol at complete conversion, when methanation is neglected and
there is no CO in the final product.

+ HO
+ H,O l
CH30H — CO + 2H; f" CO; + 3 H;
- HZ‘ +Hy o
\
CH4 + H,O

Fig. 2.1 Methanol decomposition pathways in supercritical water and possible follow-up reactions [28].

In inert quartz capillaries, a typical methanol conversion of 25% can be reached at 823 K and a
residence time of 140 min. The addition of Ni wire to the quartz capillaries increased the
conversion notably to nearly 95%, at a much lower residence time of 12 min [42]. The effect of
metals remains rather unclear. For instance, the CH4; production is reduced from 0.25 mol
CHas/mol feed to almost zero after replacing an Inconel reactor with a Ni-Cu alloy reactor [18].
The fact that the reactor material can have a significant influence is important, as most research
studies for methanol are performed in reactors constructed from Inconel 625. At temperatures
of 773 K or lower and in the absence of catalysts, methanol appears rather stable and limited
gas yields are reported [27, 42]. Using Inconel as reactor material for temperatures exceeding
873 K, complete conversion can be obtained for feed concentrations up to 50 wt% [26-28]. The
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product gas consists mainly of H,, CO,, and CO, while CH4 is only observed at longer residence
times and for higher feed concentrations. At a short residence time the yield for the different
gas products ranges from 2-3 mol H,/mol feed, 0.1-1 mol CO/mol feed, and 0.1-1 mol CO,/mol
feed. Decreasing CO/CO, ratios are observed for higher temperature and lower feed
concentrations. The H; yield increases with increasing CO, formation due to the WGS reaction.
The addition of K;CO3 or KOH also promotes the WGS reaction, but it reduces methanation [18].

2.2.3 Glycerol reforming in supercritical water

Methanol, a rather simple molecule, has a rather complex decomposition mechanism, but the
decomposition mechanism of glycerol is even more complex. Several reactions can take place
leading to different intermediate products. Decomposition reactions of glycerol are described in
the literature [17, 23, 43, 44]. At temperatures below 773 K, glycerol decomposes into many
products (among others acetic acid, hydroxyacetone, acetaldehyde, propionaldehyde, allyl
alcohol, methanol, formaldehyde, acrolein) and a gaseous mixture of H,, CO, CO,, CHy4, C;H4, and
C,He. At temperatures around the critical point, ionic reaction pathways can explain the product
composition. Free radical pathways are favored at higher temperatures, eventually leading to
the formation of gaseous products [17].

RSCW aims at high gas yields instead of valuable soluble organic compounds. In quartz
capillaries, only at temperatures exceeding 973 K, sufficiently high Cg's are obtained [19].
Complete conversion is already reported at 873 K, using Inconel reactors [16]. The residence
time is decisive in obtaining a gas rich in CO, or rich in CO. A gas containing almost 30 vol% CO,
and 2 vol% CO has been obtained at a residence time of 44 s, while at a residence time of 4 s a
gas with 12 vol% CO, and 30 vol% CO has been produced [16, 45].

Catalytic effects are also important for glycerol. Again, the precise effect of catalysts is not
entirely known and understood. Complete conversion has been obtained with Ru/Al,0z3 in an
Inconel reactor at temperatures around 1073 K, with a residence time less than 1 s [15]. In these
experiments the H,, CO, CO,, and CH, yields are very close to equilibrium. Effects of alkali are
significant as well, these are known to increase the H, yield, due to the WGS reaction [4, 6, 35-
37]. However, these salts may reduce the conversion at lower temperatures [38].

Conversion and gas composition considerably depend on the process conditions and a wide
variety of gas compositions can be obtained. Glycerol reforming is more complex than methanol
reforming, because of the involvement of a large variety of liquid soluble intermediates. Each of
these intermediates has its own reaction rate and mechanism to arrive at the various gaseous
components and this further complicates the picture. The Cg¢ is definitely strongly promoted by
temperature, residence time and presence of any catalyst.
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2.3 Experimental section

2.3.1 Materials

Methanol (purity 99+%) was supplied by Acros, Belgium. Glycerol was supplied by Chemproha,
The Netherlands. Na,CO3-10H,0 was provided by Sara Lee Household, The Netherlands. Crude
glycerin was supplied by Acciona, Spain. The composition of the crude glycerin is shown in Table
2.1. The main components are glycerol, water, and NaCl. Small amounts of other cat-ions are
present as well. Artificial gas (H,/CO/CO,/CH,4 = 55.9/14.7/25.5/3.9 vol%) for the WGS reaction
experiments was supplied by Linde Gas Benelux, The Netherlands.

Table 2.1 Composition of crude glycerin.

Component Concentration
Glycerol > 88 wt%
Water 6.5 wt%

NaCl 4.5 wt%

Other cat-ions <60 ppm

Fatty acids methyl esters + monoglycerids < 0.1 wt%

2.3.2 Description of the experimental setups
The RSCW of methanol, glycerol, and crude glycerin was investigated in two continuously
operated setups, here referred to as ‘bench scale unit’ and ‘pilot plant’.

Bench scale unit

The bench scale unit is schematically depicted in Fig. 2.2. The system, with a capacity of
approximately 1 L aqueous feed/h, comprises two high pressure pumps (Haskel, model: CIP-71).
One to introduce the premixed feed or water and the other for injecting the pure feed in SCW
when the setup is operated in ‘injection mode’. The feed streams can be monitored by weighing
the feed reservoir(s) from which the water and feed are pumped. The reactors are constructed
from Incoloy 825 and the connections from stainless steel. The reactor consists of 4 insulated
electrically heated reactor tubes (R1-R4, ID = 5.4 mm, L = 0.5 m) and optionally an additional
‘residence time reactor’ (R5, ID = 5.4 mm, L =5 m) placed in an electrically heated furnace to
enable variation of the residence time.

The reactor effluent is cooled in a double-walled heat exchanger (C1) using tap water. In
premixing and injection mode, a back-pressure regulator is used to reduce the process pressure
to atmospheric pressure (see Fig. 2.2A). In premixing mode with in situ gas separation, the gas is
separated from the liquid in a high pressure separator (HPS), before the pressure is reduced to
atmospheric pressure (see Fig. 2.2B). The water phase collected in the HPS is depressurized and
collected in a low pressure separator (LPS), using a conventional sluice system. During
depressurization the gases dissolved are released from the water in the LPS and subsequently
guantified and analyzed. The gas flow is quantified using a wet gas meter (Gallus 2000 G1.6).
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The total gas yield and composition are obtained by the summation of gas flows from the HPS
and the LPS.
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Fig. 2.2 Schematic representation of the continuous bench scale unit. Gas-liquid separation after
pressure reduction (A). In situ gas-liquid separation (B).

Type K thermocouples are located at the outer walls of the reactors, in the liquid flow after the
heat exchanger, and in the liquid/supercritical flows at the in- and outlets of the reactors.
Pressure meters are located at the reactor in- and outlets. Setup control and data logging are
carried out using a computer equipped with the Adam view software package.

Before and after each experiment, the system was flushed with water at sub- and
supercritical conditions for at least 1 h. The following process parameters were varied:
temperature (723 K — 923 K), residence time (6 — 47 s), and feed concentration (3 — 20 wt%).
The residence time is set by variation of the reactor length from 2 to 7 m and variation of the
throughput between 0.8 and 1.2 kg/h, while the pressure was maintained in the region of 25.5 —
27.0 MPa.
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The bench scale unit was operated in three different modes:

» The ‘premixing mode’, where reactant and water are premixed and the mixture is fed to
the setup.

» The ‘injection mode’, in which reactant is injected in the water at supercritical conditions
via an injection tube.

» The ‘premixing mode + in situ gas separation’, where reactant and water are premixed
and the mixture is fed to the setup, the water phase and the gas phase are separated at
high pressure.

A huge advantage of the premixing mode with in situ gas separation is the production of gas at
high pressure which can be used in a downstream process.

Some experiments were performed to determine the extent and progress of the WGS
reaction as a function of the operating conditions. For these experiments; model gas was mixed
with water before entering the first reactor. The inlet and the outlet gas were analyzed and
guantified. The experiments were carried out at 787 K and 890 K with a total gas flow rate of 85
NL/h.

Pilot plant (PP)

The pilot plant is depicted in Fig. 2.3 and is constructed from Incoloy 825. Premixed feed is fed
to the setup using a high pressure pump (Haskel, model: CIP-71). Subsequently heat is
exchanged between the feed and the reactor effluent in a counter current heat exchanger
before the feed enters the reactor (/D = 14 mm, L = 17 m). The reactor is placed in a furnace and
heated by burning propane or natural gas. After cooling down the reactor effluent in the heat
exchanger, the effluent is cooled to room temperature in a double-walled cooler using tap
water. The water phase and gas phase are separated in situ in a high pressure separator (HPS).
The pressure of the HPS gas is reduced to atmospheric pressure through a back-pressure valve.
The gas flow is measured using a Brooks mass flow meter and corrected for the gas
composition. The water phase is fed to a low-pressure separator (LPS) after being further
depressurized. Gases dissolved in the water are released and quantified using a second Brooks
mass flow meter. The total gas yield is the sum of both gas flows, HPS gas and LPS gas.
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Fig. 2.3 Schematic representation of the pilot plant.

Temperature and pressure can be monitored at various locations; viz. before and after the heat
exchanger, at the entrance and exit of the reactor, and after the cooler. Before and after each
experiment, the system was flushed with water at sub- and supercritical conditions for at least 1
hour. The process parameters varied include: temperature (843 — 893 K), residence time (74 —
173 s), and feed concentration (4.8 — 16.7 wt%). The throughput of the experiments was
between 4.1 — 13.3 kg/h, while the pressure was maintained in the region of 25.5 - 27.0 MPa.
An overview of the experiments carried out in the setups is listed in Table 2.2.

Table 2.2 Operating modes of the experiments.
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2.3.3 Analyses

The gas derived in the bench scale unit was analyzed using an online dual-column gas
chromatograph (GC 955, Syntech Spectras) equipped with thermal conductivity detectors. CH,
and CO were analyzed over a molecular sieves 5 A column (L = 1.6 m) with helium as carrier gas.
CO, and C,, were analyzed on a Chromosorb 102 column (L = 1.6 m) with helium as carrier gas.
H, was analyzed on the molecular sieves column using argon or nitrogen as carrier gas. The
gases from the pilot plant experiments were analyzed with the same GC as mentioned before,
but using He as carrier gas for all analyses.

In addition, the total organic carbon (TOC) content of the effluent water from the bench scale
unit was analyzed using a dedicated TOC analyzer (TOC-Vcsy, Shimadzu). Before the TOC
measurement, the effluent sample was diluted appropriately to obtain values within the
measuring range of the apparatus. In some experiments the composition of the effluent water
was determined by high pressure liquid chromatography, using an HPLC equipped with a
Hewlett Packard 1050 pump, a Biorad Aminex HPX-87H organic acid column and a Waters 410
refractive index detector. The mobile phase was an aqueous solution of sulfuric acid (5 mM) at a
flow rate of 0.55 mL/min. The column temperature was 333 K.

The water content of the crude glycerin was measured using Karl-Fischer titration and the
sodium content using Atomic Absorption Spectrometry (AAnalyst 200, Perkin-Elmer). The
content of other metals was determined with Inductively Coupled Plasma Mass Spectrometry
(Optima 4300 DV, Perkin-Elmer), while the chloride content was measured by a titration
method using silver nitrate with potassium chromate as indicator. Finally, the fatty acid methyl
esters were extracted from the crude glycerin with chloroform, and analyzed using a gas
chromatograph (HP 5890 Sl Plus) equipped with a mass selective detector (HP 5972).

2.3.4 Definitions

The temperatures of the reactors in the bench scale setup are measured at the outer surface of
the reactor tubes. Each reactor segment contains two thermocouples. The reactor temperature
is taken as the average of the temperatures measured at the reactor walls. The reactor
temperature in the pilot plant is taken as the temperature of the liquid effluent from the
reactor. The carbon-to-gas efficiency (Cge) is defined as the ratio between the molar carbon flow

in the gas (Z:¢C’i ) and the molar carbon flow of the feed (¢ (). The molar carbon flow of

the feed is calculated from the glycerol concentration and feed flow, while the molar carbon
flow in the gas is derived from the gas flow and gas composition:

D %
Coe =——-100% (Eq. 2.7)

C, feed

The hydrogen-to-gas efficiency (Hgg) and oxygen-to-gas efficiency (Oge) are determined in a
similar way.
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2 P
Hee =— -100% (Eg. 2.8)

H, feed

2%,
Oge =———-100% (Eg. 2.9)

O, feed

The carbon conversion (¢) is calculated from the molar carbon flow of the feed and the effluent.

é/: ¢C,feed _¢C,efﬂuent .100% (Eq 210)

C, feed

The residence time (7) was calculated as follows

:Vr “Prp

¢m,STP

T (Eq. 2.11)

with V. as the geometric reactor volume, prp as the water density at (average) process
temperature and pressure and ¢,, ¢rp as the mass flow at standard conditions. For all residence
time calculations the feed is assumed to consist of pure water.

2.4 Results

This section starts with a description of the equilibrium gas compositions as a function of the
temperature. Subsequently, experimental data on the WGS reaction are provided to gain insight
into the progress and relative rate of this reaction at process conditions. These results are useful
for the interpretation of the results for RSCW of methanol and glycerol, which are presented
subsequently.

2.4.1 Estimation of the gas phase equilibrium for methanol and glycerol

At the conditions relevant for RSCW, thermodynamics may play a significant role. In many
publications equilibrium data are given considering the complete set of H,, CO, CO,, CH4, and
CiHy. The experimental results, however, demonstrate that in many cases the thermodynamic
equilibrium is not reached. Therefore, another approach will be presented here, viz. the
equilibrium composition in the case that all reactions are at equilibrium and in the case that
only the WGS is at equilibrium, the latter is likely the case for most RSCW data. The equilibrium
gas yields at complete conversion are calculated using an in-house-developed Matlab program,
using equilibrium correlations for the WGS reaction and methanation taken from literature [46].
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The Soave-Redlich-Kwong equation of state is used to correct for nonideality [47]. Critical
properties and acentric factors are taken from literature [48].

In Fig. 2.4 the equilibrium yield at 25 MPa as a function of the temperature is shown for
methanol feed concentrations of 6.3 and 12.5 wt.%, taking into account the WGS reaction and
methanation (Figs. 2.4A and 2.4B) or solely the WGS reaction (Fig. 2.4C). These feed
concentrations are the limits of the concentration range of the majority of the experimental
work, which will be discussed later.

The equilibrium yield, taking into account the WGS reaction and methanation (case A and B)
differs considerably from the equilibrium yields based on solely the WGS reaction (case C). The
equilibrium yield is a strong function of the methanol feed concentration. The yield of H, and
CO, is considerably higher at a lower feed concentration, while the opposite is true for CH4. The
CO vyields are low in both cases. For case C, the yields hardly depend on the two feed
concentrations. The H, and CO, yields only decrease slightly with increasing temperature, while
the CO yield compensates for the CO, decrease.

A ’ B 77 |[——6.3wi% feed [§
—— 12.5 wt% feed H

Yield (mol gas/mol feed)

Co....

=4
o

72‘3 7%3 B2|3 S"FS 92‘3
T (K) T(K) T(K)
Fig. 2.4 Equilibrium yields for methanol reforming taking into account the WGS reaction and
methanation for a 6.3 wt% feed solution (A) and a 12.5 wt% feed solution (B). In (C) only the WGS
reaction is taken into account for both concentrations.

Equilibrium vyields for glycerol are shown in Fig. 2.5, for feed concentrations of 5 and 20 wt%
respectively and a pressure of 25.0 MPa. In Figs. 2.5A and 2.5B, methanation and the WGS
reaction (case A and B) are taken into account and in Fig. 2.5C, solely the WGS reaction (case C)
is taken into account with the assumption that per mol of glycerol 1 mol of CH, is produced. In
the results section will be shown that at complete conversion 1 out of 3 carbon atoms from a
glycerol molecule ends up in a hydrocarbon. Similarly with methanol, equilibrium yields in case
A and B strongly depend on temperature and feed concentration. H, and CO, yields are
significantly higher for a 5 wt% feed solution than for a 20 wt% feed solution, while the CH,
yield is substantially lower for the lower feed concentration. In case C, gas yields are nearly
independent of temperature and feed concentration. In both cases, CO is almost absent.
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Fig. 2.5 Equilibrium yields for glycerol reforming taking into account the WGS reaction and methanation
for a 5 wt% feed solution (A) and a 20 wt% feed solution (B). In (C) only the WGS reaction is taken into
account for both concentrations.

2.4.2 Experimental studies on the WGS reaction

The extent to which the WGS reaction and methanation proceed can be demonstrated by
feeding an artificial gas with known composition to the reactors and measuring the change in
the gas composition. The results for two temperatures, 787 K and 890 K, and residence times of
respectively 15 s and 12 s are shown in Table 2.3. The product gas composition is compared
with the equilibrium composition considering only the WGS reaction and neglecting
methanation. This comparison leads to the conclusion that the WGS reaction hardly proceeds at
the lower temperature, since the product gas composition is far from equilibrium and similar to
the feed gas composition. At the higher temperature, a slight reduction in the CO concentration
was observed. This indicates a minor effect of the WGS reaction, nevertheless, also here the
WGS reaction is far from equilibrium and methanation is fully absent. Only after adding Na,COs;,
a slightly higher activity was observed for the WGS reaction, but again, the gas composition
remained far from equilibrium.

Table 2.3 Overview of experiments on the WGS reaction in the bench scale unit.

T T H, (0] CO, CH,

(K) (s) (vol%) (vol%) (vol%) (vol%)
Feed - - 55.9 14.7 25.5 3.9
Off gas 787 15 56.1 14.4 25.5 4.0
Off gas (+ Na,CO;) 787 15 57.3 11.7 27.0 4.0
Equilibrium® 787 - 61.4 0.4 34.8 3.4
Off gas 890 12 57.0 12.7 26.2 4.1
Off gas (+ Na,CO3;) 890 12 58.1 9.8 28.2 3.9
Equilibrium® 890 - 61.3 0.7 34.6 34

*The equilibrium composition was calculated using the model described in Section 2.4.1.
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2.4.3 RSCW of methanol

Experiments were performed using pure methanol and methanol containing 0.1 wt% Na,COs;
(from here on referred to as soda methanol) as feed. First, an experiment with pure methanol
was performed three times to demonstrate the reproducibility of the experiments. The relative
deviation in the Cge between the experiments was below 6%. The closure of the carbon balance
was at least 90% for all experiments. The results obtained in the premixing mode with in situ gas
separation are shown in Fig. 2.6 and Fig. 2.7. Csr and ¢ are plotted as a function of the
temperature in Fig. 2.6 and as a function of the feed concentration in Fig. 2.7. In all figures,
closed symbols represent experiments with pure methanol, while the open symbols are the
results for soda methanol.

In Fig. 2.6 the influence of the temperature on the Cg¢ is shown for a feed concentration of
12.5 wt% and a residence time of 39 — 47 s. For both, pure methanol and soda methanol, the
Cse increases with temperature, confirming the results published in the literature [26-28].
Eventually the Cse reaches 82% and 93% for soda methanol and pure methanol respectively at
915 K. Except for the lowest temperature, the Cs for pure methanol is significantly higher than
for soda methanol.
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Fig. 2.6 Csc and ¢ for methanol reforming as a function of the temperature. Experimental conditions: 7=
39-47s, [49] = 12.5 wt%, Na,CO; concentration = 0.1 wt%. The solid line and the dotted line are trend
lines for respectively pure and soda methanol.

The dependence of the Cse and the { on the feed concentration is shown in Fig. 2.7. The Cg for
pure methanol has a constant value of approximately 52% for feed concentrations of 3 — 12.5
wt%, but decreases slightly at higher concentrations. Such a trend has been reported before in
the literature for combinations of short residence times and high feed concentrations [27, 28].
For soda methanol, the conversion is again significantly lower than for pure methanol, over the
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complete range of feed concentration. The decrease in Csr as a function of the feed
concentration is more pronounced for soda methanol than for pure methanol.

The Cge for (soda) methanol was measured for two different residence times of 9 s and 44 s
at 869 K and a feed concentration of 12.5 wt%. At a residence time of 9 s, the Cg¢ for both types
of feed has a similar value of 8%. The Cgs¢ increases with residence time, but again, at higher
residence times, the Cge for soda methanol with a value of 32% is lower than the Cge value of
53% for pure methanol. During the experiments, no tar formation or carbon deposition was
observed. The effluent was clear and the interior of the reactor remained clean after several
runs. The latter was observed visually. The deviation between the Cgr and the ¢ can thus only be
attributed to measurement errors, which, for a typical experiment is less than 8%.
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Fig. 2.7 Csc and ¢ for methanol reforming as a function of the feed concentration. Experimental
conditions: T=869 K, 7=42 —43 s, Na,CO; concentration = 0.1 wt%. The solid line and the dotted line
are trend lines for respectively pure and soda methanol.

In Fig. 2.8 a compilation for the Hge and Oge versus the Cge is shown for all experiments
performed with methanol. The solid and the dotted line represent the trend lines for pure and
soda methanol respectively, while the dashed line represents the parity with the Cg. The parity
line is defined as the Hgr (Fig. 2.8A) or Oge (Fig. 2.8B) theoretically derived for the case that
methanol decomposes stoichiometrically to gas products (CH30H — CO + 2H,). In that situation
no water is consumed in the reaction, no coke is formed, and no liquid products are formed.

For all conditions and for both pure and soda methanol, the Hge and Ogr are higher than the
Cse and consequently more hydrogen and oxygen end up in the gas phase than based on the
carbon in the methanol. This is more apparent for soda methanol than for pure methanol.

Some intermediate products were traced back with HPLC analysis of the effluent water. The
concentration of intermediate products was smaller than 0.01 wt% of the TOC content of the
effluent. The main organic component in the effluent water was unconverted methanol.
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Fig. 2.8 Hse (A) and Og (B) as a function of the Cgz:. The dashed line is the parity with the Cse. Conditions:
T=823-915K, [feed] =6.3 -12.5 wt%, 7=9—47 s. The solid lines and the dotted lines are trend lines
for respectively pure and soda methanol.

As coke formation is negligible, it can only be concluded that water is consumed to produce
extra hydrogen and oxygen in the gas phase. Water consumption is indeed likely, because of the
WGS reaction or the reaction of methanol with water to CO, and H,. The amount of water
consumed can be calculated from the element balances and the result is shown in Fig. 2.9.
Although both the hydrogen balance and the oxygen balance can be used here, the present
calculation is based on the oxygen balance, because the CO and CO, concentration can be
measured the most accurate. Water is consumed over the complete Csr range. Extrapolating the
trend line for soda methanol, the water consumption approaches 1 mol H,0/mol feed, which is
the theoretical maximum in case of full conversion of CO to CO, via the WGS reaction.
Alternatively, it may suggest that overall 1 mol of H,0 then reacts with 1 mol of methanol. The
water consumption for pure methanol is slightly lower than for soda methanol, though the
consumption increases exponentially at Cge values exceeding 50%.
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Fig. 2.9 Water consumption for methanol reforming as a function of the Cgs:. Conditions: T=823 -915K,
[feed] = 6.3 —12.5 wt%, 7=9 — 47 s. The solid line and the dotted line are trend lines for respectively
pure and soda methanol.

The gas yields are presented as a function of the Cge in Fig. 2.10. It appears that the H, yield
increases almost linearly with the Cge. The H, yield for soda methanol is slightly higher than for
pure methanol. At complete conversion, the H, yield approaches the theoretical maximum of 3
mol Hy/mol feed. For CO, the yield goes up almost linearly till a Cge of 50%, then it reaches a
maximum, and decreases subsequently. The trend line in case of pure methanol is quite
straightforward, but for soda methanol, the CO vyield shows more scattering. The vyield is,
however, significantly lower than for pure methanol.

The CO; yield in turn increases significantly and almost linearly. It can be concluded from Fig.
2.10 that the CO/CO; ratio decreases with increasing Cge. That means that the CO/CO, ratio
decreases with increasing temperature and increasing residence time, or a combination of the
two. This observation is in agreement with literature [27, 28]. Finally, the CH, yields are below
0.033 mol CHs/mol feed for pure methanol and increase slightly with Cge. This suggests that
methanation indeed hardly occurs at these conditions. In the case of soda methanol, the CH4
yields are even lower and the presence of alkalis seems to inhibit the methanation reaction
almost completely as reported in the literature before [18].
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Fig. 2.10 Gas yields for methanol reforming as a function of the Cg; for different components (H,, CO,
CO,, and CH,). Experimental conditions: T= 823 - 915K, [feed] = 6.3 —12.5 wt%, 7=9—47 s. The solid
lines and the dotted lines are trend lines for respectively pure and soda methanol.

2.4.4 RSCW of Glycerol

Similar experiments as for methanol were also performed for glycerol, at temperatures
between 733 — 923 K, feed concentrations of 5 — 20 wt%, and residence times of 6 — 173 s. In all
experiments the pressure was maintained at 25.5 — 27.0 MPa and the carbon balance closure
was greater than 90%. Some experiments were performed in duplicate or three times. The
absolute deviation in the Cg, ¢, and gas yield was below 7%.

The Cgr for glycerol as a function of various parameters is shown in Fig. 2.11-13. In all these
figures, closed symbols represent experiments with pure glycerol, while the open symbols are
the results for crude glycerin or glycerol with Na,COs. It can be seen in Fig. 2.11 that the Cg¢e
increases with temperature, with the highest values of 87% and 91% for pure glycerol and crude
glycerin respectively at 886 K. In the literature similar temperature dependencies have been
observed [45]. The presence of alkali in the feed enhances the Cgs at low temperatures, while
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the effect is hardly visible at higher temperatures, coinciding with the results obtained in quartz
capillaries [19].

4 C,.pure
100+ Trend line pure
& G, crude I
80 -
—~ 60
=
“"Lu A
oo 40 -
20
0+ T T T T T T T T
723 763 803 843 883

reactor ( )

Fig. 2.11 C,, for pure glycerol and crude glycerin reforming as a function of the temperature.
Experimental conditions: 7= 17 — 24 s, [feed] = 10 wt%. The experiments were performed in the
premixing mode. The solid line is a trend line for pure glycerol.

For pure glycerol, the Cg is relatively constant with a value of 87% for the glycerol
concentration range of 10 — 20 wt% (see Fig. 2.12). Only the Cge for a 5 wt% solution is slightly
higher. For crude glycerin, the Cg¢ is slightly higher than for pure glycerol at feed concentrations
from 5 — 10 wt%, but at the higher feed concentration the Cge value is lower than for pure
glycerol. For the experiment with a feed concentration of 15 wt%, the gas yield decreased
continuously with operating time. It is known from literature that the reactor wall has catalytic
effects [7, 22, 23, 40]. Therefore, decreasing gas yields can be due to salt deposition at the
reactor wall resulting in loss of active metal surface area. Furthermore, decreasing gas yields can
be due to a reduction in heat transfer from the reactor wall to the reaction medium due to salt
deposition [23].
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Fig. 2.12 C;; and ¢ for pure glycerol and crude glycerin reforming as a function of the feed concentration.
Experimental conditions: T=892 K, 7= 39 s. The experiments were performed in the premixing mode
with in situ gas separation. The solid line and the dotted line are trend lines for respectively pure glycerol
and crude glycerin.

The Cge as a function of the residence time is shown in Fig. 2.13. The Cge increases with
residence time for both types of glycerol. The increase is significant up to approximately 20 s,
then it levels off. The difference between the values for pure glycerol and crude glycerin is small
and is within the measurement error range.
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Fig. 2.13 C5: and ¢for pure glycerol and crude glycerin reforming as a function of the residence time.
Experimental conditions: T= 892 K, [feed] = 5 wt%. The experiments were performed in the premixing
mode with in situ gas separation. The solid line and the dotted line are trend lines for respectively pure
glycerol and crude glycerin.

37



Chapter 2

As mentioned in the literature, salts in the feed can cause reactor plugging through precipitation
[35, 39, 40]. This is also the case for the experiments with crude glycerin. Reactor plugging
occurs after several hours of operation. The operating time before plugging depends on the
feed concentration.

The Cge values for all the experiments are compared with their accompanying Hge and Oge
values in Fig. 2.14. The results of all the experiments are presented here; independent of
process parameters, conditions, and the setup in which they were performed. The solid and the
dotted line represent trends for pure glycerol and crude glycerin, respectively, while the dashed
line represents the parity with the Cge. The parity line is defined as the Hge (Fig. 2.14A) or Oge
(Fig. 2.14B) theoretically derived for the case that glycerol decomposes stoichiometrically to gas
products.

Though some scattering is present, clear trends can be noted. Theoretically, Cge, Hge, and Oge
should be equal if glycerol is directly converted to the gas phase without interaction of water,
intermediate product formation, coke formation, and any gas phase follow up reactions. Coke
formation can be neglected in these experiments, because the effluent water was clear and the
interior of the reactor was clean upon opening.
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Fig. 2.14 Hg: (A) and O (B) as a function of the Cg; for pure glycerol and crude glycerin reforming. The
dashed line is the Cgr. Conditions: T= 733 —923 K, [feed] =5—-20 wt%, 7=6—173 s. The solid lines and
the dotted lines are trend lines for respectively pure glycerol and crude glycerin.

For crude glycerin more hydrogen and oxygen end up in the gas phase relative to carbon
indicating water consumption. On the contrary, for pure glycerol less hydrogen and oxygen are
present in the gas phase than expected on basis of the carbon balance. Only minor quantities of
among others propionic acid, acetaldehyde, acetic acid, formaldehyde, methanol, and ethanol
were detected in the effluent with HPLC. The formation of the water-soluble products can only
partly explain the differences between Cge on the one hand and Hge and Oge on the other hand.
These differences strongly indicate water production instead of water consumption. Assuming
that the differences in the hydrogen and oxygen balance compared to the carbon balance are
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due to reactions involving water, the ‘overall’ water consumption can be calculated from the
oxygen balance. The results are shown in Fig. 2.15.

For reforming of pure glycerol, the water consumption is negative indicating that water is
produced. The production increases until the Cse reaches approximately 50%, after which the
production reduces. The latter is again likely due to the WGS reaction. A theoretical approach
can now be undertaken assuming that for Cg¢'s below 40% the WGS reaction can be neglected.
The dashed line in Fig. 2.15A is a linear trend line for these specific data points including the
intercept with the origin. Extrapolation of this line to point A in Fig. 2.15 then leads to a net
water consumption in the range of 1 mol H,O/mol feed. It suggests that the overall primary
mechanism for pure glycerol decomposition is the dehydration of 1 mol H,O/mol glycerol.
Dehydration reactions in SCW are free radical reactions [17]. According to the literature, free
radical reactions are likely to proceed at the process conditions used in this research study.

For crude glycerin, water is consumed if the Cg exceeds 50%, while the overall water
consumption reaches 1 mol H,0/mol glycerol when the crude glycerin is completely converted.
Thus, higher water consumptions are observed for reactions in the presence of alkali catalysts,
an indication that the presence of alkali increases the rate of the WGS reaction. This
phenomenon has been observed by several researchers [4, 6, 35-37].
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Fig. 2.15 Water consumption for pure glycerol and crude glycerin reforming as a function of the Cg;.
Conditions: T=733 -923 K, [feed] =5 —-20 wt%, 7=6—173 s. The solid line and the dotted line are trend
lines for respectively pure glycerol and crude glycerin. The dashed line is an extrapolation of the trend
line for pure glycerol data points with a Cs below 40%.

As for methanol, the various gas yields are plotted as a function of the Cge. Eight gas
components were detected, viz. H,, CO,, CO, CH,4, C,H4, CoHg, C3Hg, and CsHg. The yields are
plotted in Fig. 2.16 as a function of the Csr except for the CsHg and CsHg yields, because of their
low values. This figure represents all experiments carried out in the different setups and
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operating modes at different process conditions. The scattering in the data can be caused by: (i)
measurement errors, (ii) small differences in the velocity of the WGS reaction, (iii) effect of
equilibria, and (iv) the use of different setups and operating modes. Despite these complexities,
the trend lines in Fig. 2.16 are clear for both pure glycerol and crude glycerin. The H,, CO,, CHg,
and C;Hg yields increase with Cge. For pure glycerol the CO vyield increases with Cgg, while for
crude glycerin the yield goes through a maximum at a Cge of 50 — 60%. The yield of C,H4 is very
low in all experiments, which partly explains the relative large scattering. However, the data
should be considered with some care, as they are not always measured accurately in the
experiments in the premixing mode with in situ gas separation (HPS). Nevertheless, a trend can
be observed. The yield of C,Hs as a function of the Cgr goes through a maximum and the
component is essentially absent at a Cge of 100%. The yield of C3Hg which is not plotted shows a
similar trend, while CsHg starts to appear when the Cgr exceeds 30%. The H,, CO,, and CH, yields
for crude glycerin at a Cge of approximately 20% are slightly higher than expected based on
these trend lines. Detailed inspection revealed that the low Cgf's measured are likely due to
small gas leakages in the reactor system.

Some differences between the results for pure and crude glycerin are apparent as well. For
instance, the increase in the H, and CO, yields is more significant for crude glycerin than for
pure glycerol. Over the complete conversion range, the CO yield increases for pure glycerol,
however, a maximum is reached for crude glycerin at a Cgr of around 50 — 60%. The CO, yield
for both feeds is close to zero in the Cse range of 0 — 30%, but increases at higher Cg¢'s. At low
Cse's the Hy, CO, and CO, yield are more or less comparable for both feeds, however they start
to deviate at Cge's exceeding 50%. It is expected that this is caused by the WGS reaction. For
Cse's below 50% the WGS reaction hardly proceeds, but for higher Cs's the WGS reaction
becomes noticeable. The rate increase of the WGS reaction for crude glycerin is more
pronounced due to the presence of alkali. Also in case of pure glycerol the WGS reaction
proceeds at the higher Cg¢'s, as the yield for CO levels off and CO, appears. The reaction rate of
the WGS reaction is, however, lower. As the CO yield at equilibrium which is depicted in Fig. 2.5
is close to zero, the gas composition is far from equilibrium and only approaches equilibrium for
crude glycerin at Cg¢'s exceeding 80%.

In the case of pure methanol, it was already shown that the CH, yield is very low, also in the
presence of alkalis. Conversely, for both pure glycerol and crude glycerin, up to 0.6 mol CHs/mol
feed can be obtained as shown in Fig. 2.16. Consequently, and in line with results obtained from
methanol reforming, it can be assumed that CH, is a primary gas product and not formed or
only to a little extent by methanation. Further proof that CH,4 is a primary product is the
dependency of the CH, yield on the Cge. Already at low Cge’s CHy is present, increasing linearly
with Cge. This trend is in contrast with the trend of a component such as CO,, which only
appears from Cgf's exceeding 30%. CO, is probably not produced in a primary reforming
reaction, but in a secondary reaction which is most probably the WGS reaction. The trend for
C3Hg is similar as the trend for CO,, although the yields are much lower. CsHg is therefore
considered as a secondary product.
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Fig. 2.16 Gas yields for pure glycerol and crude glycerin reforming as a function of the Cg for different
components. The solid symbols represent the data for pure glycerol and the open symbols for crude
glycerin. Experimental conditions: T=733 -923 K, [feed] =5 — 20 wt%, 7= 6 —173 s. The solid lines and
the dotted lines are trend lines for respectively pure glycerol and crude glycerin.
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The trend for the C,H¢ yield seems to be linear, however, it is not clear whether C;Hg is a
primary gas product. It could be a primary gas phase product, the result of ‘instant’
hydrogenation of C,H;, or a combination of both. It is reasonable to assume that C,H; is a
primary gas product, because it is already present at low Cge and like CH, it is known to be
formed as a primary gas product in the steam reforming of acrolein and acetaldehyde [50].

Another important observation is that at complete conversion, two out of three carbon
atoms originally present in the glycerol end up in either CO or CO,. The total number of gas
molecules produced per mol glycerol in the feed as a function of the Cge can be calculated using
the trend lines from Fig. 2.16. The maximum number of moles gas for pure glycerol is 4.8 mol
gas/mol glycerol and 5.5 mol gas/mol glycerol for crude glycerin. A plausible explanation for this
difference is the WGS reaction, promoted by the presence of alkali [4, 6, 35-37].

The quality of the syngas, if it were to be used in subsequent methanol synthesis, can be
expressed with the stoichiometric number (Sy, see Eq. 1.4). Values for Sy close to 2 are
preferred, but a Sy of 1.33 is the maximum value for gas obtained in RSCW of glycerol, see Eq.
7.2 in Chapter 7. By means of the trend lines based on the experimental data given in Fig. 2.16,
the Sy can be calculated as a function of the Cge and is depicted in Fig. 2.17.
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Fig. 2.17 Sy for pure glycerol and crude glycerin as a function of the Cg;.
For both types of glycerol the Sy decreases with increasing conversion and this effect is the most

pronounced for crude glycerin. The more attractive Sy’s for methanol synthesis are obtained at
the lower Cg¢'s although they remain below 1.

2.5 Discussion

2.5.1 Comparing methanol and glycerol reforming

A qualitative comparison of the RSCW of glycerol and methanol as a function of three process
parameters is given in Table 2.4. Similar trends were observed for the dependency on
temperature, feed concentration, and residence time for methanol and glycerol. Although the
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experiments were not performed at exactly the same conditions, the Cg¢ for glycerol is higher
than for methanol at similar conditions. This indicates that methanol appears to be more stable
than glycerol at such conditions. The decreasing Cs trend as a function of the feed
concentration is less pronounced for methanol than for crude glycerin, while such a trend is not
visible for pure glycerol. The decreasing trend for crude glycerin can most likely be attributed to
salt precipitation in the reactor.

Table 2.4 Qualitative comparison of the influence of the increase of the process parameters on the Cg; of
methanol and glycerol.

Process parameter  Methanol  Soda methanol  Glycerol  Crude glycerin

T (K) ++ ++ ++ +

[feed] (wt%) +/-or - - +/- R

7(s) ++ ++ ++ ++
++ = increase, + slight increase, +/- constant, -- = decrease, - slight decrease

Conditions for methanol reforming: T=823 — 915 K, [feed] =3 —20 wt%, 7=9—47 s.
Conditions for glycerol reforming: T=733 - 923 K, [feed] =5 -20 wt%, 7=6—-173s.

2.5.2 Mechanistic aspects for methanol reforming

Correlations for the gas yields versus the Cg: of methanol are shown in Fig. 2.10, irrespective of
whether the higher value for Cge is obtained by increasing the temperature, prolonging the
residence time or by lowering the feed concentration. Apparently, the process severity which is
a combination of temperature and residence time influences the gas yield significantly. To arrive
at an overall reaction scheme for methanol decomposition the effluent water was analyzed by
HPLC. Besides unconverted methanol only traces of formic acid and formaldehyde were
identified. Probably these products are intermediate products in the decomposition of
methanol, however, they are not very stable, considering their very low concentrations.
Therefore, the reaction scheme of methanol decomposition and follow up gas phase reactions
as depicted in Fig. 2.18 is proposed.

CHsOH = CH,0 + H, = CO + 2H,
-H0 ¥ & O

CH30H + H,O —= CH»0, + 2H, —= CO, + 3H>
..

> ‘
A »

CO + 2H, + H,O
Fig. 2.18 Decomposition pathways for methanol in SCW supposedly through formaldehyde and formic

acid.

It is assumed that methanol either decomposes via formaldehyde or formic acid after the
reaction with water. Formaldehyde and formic acid are known to decompose rapidly in
supercritical water [11, 51]. For the decomposition of formic acid, two competing pathways
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have been proposed [51]. The dominant reaction pathway is the decarboxylation of formic acid
producing H, and CO,, while the dehydration pathway producing H, and CO is reported to be
the minor pathway. Subsequently, the WGS reaction can take place. The methanation reaction
appears absent and no CH, is produced. This reaction scheme is an extension of Fig. 2.1 with the
addition of hypothetical intermediate products.

In the present study the maximum CH, yield was 0.033 mol CHs/mol feed as shown in Fig.
2.10. For these conditions (915 K, 25.5 MPa) and a feed concentration of 12.5 wt%, however, a
CHg equilibrium yield close to 0.5 mol gas/mol feed is predicted by thermodynamic calculations
shown in Fig. 2.4B. The experimental data are far from equilibrium. Low CH, yields were also
observed in several other studies, showing that the WGS reaction is the only relevant gas phase
reaction for these kind of systems [26-28, 42]. The CO vyield at Cg's around 50% for pure
methanol is higher than predicted by equilibrium calculations indicating that the WGS reaction
is not at equilibrium for these Cgf's. At higher Cgf's the CO vyield decreases, approaching
equilibrium. The WGS reaction appears to be relatively slow. This was confirmed by separate
WGS reaction experiments (see Section 2.4.2) and by literature data as well. Several researchers
noted that the rate of the WGS reaction depends on the concentration of CO and that the
reaction is enhanced at water concentrations exceeding 10 mol/L [52, 53]. In the experiments
done in this study, the CO concentration in the supercritical mixture was very low and the water
concentration remained far below 10 mol/L. The water concentration is 6.0 mol/L at 723 K and
25.0 MPa and 3.6 mol/L at 923 K and 25.0 MPa.

The value for Cge as a function of the residence time can be used to calculate the reaction
rate constant, assuming a first order decomposition reaction in methanol and plug flow
behavior of the liquid phase. The kinetic rate constants are plotted in an Arrhenius diagram in
Fig. 2.19 for the experiments with pure methanol and soda methanol. As expected on basis of
the lower conversions, the kinetic rate constants for soda methanol are lower than for pure
methanol, but strikingly the observed activation energy is lower as well. Activation energies of
191 kJ/mol and 144 kJ/mol are calculated for pure methanol and soda methanol, respectively.
The value of the activation energy for pure methanol is slightly higher than the 164 kJ/mol
reported by Hack et al. [54].

The activation energy for reforming soda methanol is lower than for pure methanol although
the Cge at similar conditions is lower. This phenomenon can be explained by assuming a
different decomposition mechanism for pure methanol versus soda methanol which will be
discussed later, or by an inhibiting effect of soda salt. In the literature is reported that the
decrease in gas yield after addition of alkali salts (KOH or K,COs3) can be caused by precipitation
of the salts on the reactor wall [18]. It is unclear though, whether the activity loss can be
attributed to passivation of the active reactor wall. Another hypothesis deals with competing
reaction pathways. The competing pathways for pure methanol and soda methanol
decomposition are shown in Fig. 2.18 and can be direct decomposition to H, and CO or the
reaction of methanol with water to produce H, and CO,. Possibly the direct decomposition for
pure methanol dominates. For soda methanol, the reaction with water may prevail, while the
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decomposition route to H, and CO is inhibited. This also explains why the Cge for soda methanol
decreases more significantly with increasing feed concentration and thus decreasing water
concentration as shown in Fig. 2.7.
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Fig. 2.19 Arrhenius diagram for methanol reforming.

The two different reaction pathways are summarized in the energy diagram depicted in Fig.
2.20. Starting with the heat of formation (at standard conditions) of methanol as the baseline,
the reaction proceeds via possible intermediate products. The heat of formation of the end-
products is presented relative to methanol (and water). If the competing reaction pathway
mechanism is correct, the observed activation energy for decomposition of pure methanol into
H, and CO is lower than the observed activation energy for the decomposition reaction with
water. For soda methanol, it should be the other way around. Decomposition of pure methanol
proceeds predominantly to CO at lower temperatures and to CO; (plus additional H,) at higher
temperatures [11], indicating that the reaction of methanol with water is enhanced at higher
temperatures, or the rate of the WGS reaction increases at higher temperatures, or both
phenomena occur.
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Fig. 2.20 Reaction energy diagram for methanol reforming. The solid lines are possible reaction pathways
for pure methanol. The dotted line represents possible reaction pathways for methanol containing
Na,COs. The dashed line represents the WGS reaction for both methanol types. Reaction enthalpies are
determined at 0.1 MPa and 298 K.

2.5.3 Mechanistic aspects for glycerol reforming
Just as for methanol, unique correlations for the gas yields versus the Cgg, irrespective of the
process conditions and feed concentration are obtained for glycerol and shown in Fig. 2.16.
These correlations hold for experiments carried out in the bench scale setup in one of the three
operating modes and the experiments performed in the much larger pilot plant. It is thus
reasonable to conclude that glycerol decomposition proceeds more or less through the same
mechanism for the process conditions investigated. A simplified reaction scheme without
stoichiometry for the decomposition of glycerol with a focus on gas production is given in Fig.
2.21. The choice of primary and secondary products is based on the analysis in Section 2.4.4. In
this scheme, CH, is shown as a primary product, but can also be formed as a secondary product
by methanation. However, this reaction was not observed or only to a small extent for glycerol.
Furthermore, water is produced and the WGS reaction and alkene hydrogenation are included.
It is suggested that glycerol can either decompose into liquid soluble products that react
further to gas products or that glycerol can directly decompose into gas products. In practice
probably both reaction pathways occur. From Fig. 2.15 it is concluded that the decomposition of
pure glycerol proceeds roughly through the dehydration of 1 mol H,O/mol feed. For crude
glycerin at a Cgr of 100% the water consumption is 1 mol H,0/mol feed. From Fig. 2.16 it is clear
that at this Cge 2 mol of CO, are produced from crude glycerin, which initially originate from CO.
That means that in the WGS reaction 2 mol of H,0 is consumed, indicating that the primary
decomposition of crude glycerin proceeds, as for pure glycerol, through the dehydration of 1
mol H,0/mol feed.
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CH4 + H,O l
- 3H2Ti+ 3H;
+/- H,0
C3HgO3 - quuid soluble products = Hy, + CO + CH,4 + CoH4 + CoHg + CaHg + H2O
- HzOTl+ H.O - H2H+ Hz - HzH*’ H2
CO, + H» CoHs CsHg

Fig. 2.21 Decomposition pathways for glycerol in SCW to gaseous products including possible follow-up
reactions.

The results for glycerol are plotted in an Arrhenius diagram in Fig. 2.22 assuming pseudo first-
order kinetics in glycerol. The observed activation energies for pure glycerol and crude glycerin
were E, = 196 klJ/mol and 183 kJ/mol respectively, which is somewhat higher than the literature
values for pure glycerol of E, = 150 kJ/mol [17] and 110 kJ/mol [45]. For glycerol the presence of
alkali reduces the activation energy slightly.
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Fig. 2.22 Arrhenius diagram for pure glycerol and crude glycerin reforming. The experiments were
conducted in premixing and injection mode.

2.6 Conclusion

Methanol (pure and with soda) and glycerol (pure and crude) were reformed in supercritical
water. Glycerol reforming was carried out in two different continuous setups made of Incoloy
825 and methanol reforming was carried out in one setup. The influence of the process
conditions, feed concentration, and alkali on the conversion and gas yields was investigated. For
both, methanol and glycerol, clear trends in gas yields are observed as a function of the Cge.
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2.6.1 Methanol reforming

The Cge for methanol increases with temperature and residence time, while increasing feed
concentration has an adverse effect on the Cg. The latter effect is more pronounced for soda
methanol than pure methanol. The presence of alkali in the feed decreases the Cge of methanol.
The activation energy for pure methanol turns out to be higher than for soda methanol which
can be an indication of different decomposition pathways. Primary methanol decomposition
may proceed through two reaction pathways, either by reacting with water yielding CO, and H,,
or by direct decomposition to CO and H,. The primary reaction mechanism can be affected by
the presence of Na’. The main gas products in methanol reforming are H,, CO, and CO,. The
yield of CHy is very low indicating that the methanation reaction hardly proceeds.

2.6.2 Glycerol reforming

The Cge for pure glycerol and crude glycerin increases with temperature and residence time,
while the Cge for pure glycerol is nearly independent of concentration and the Cge for crude
glycerin decreases at higher concentration. The main gas products in glycerol reforming are H,,
CO, CO,, CHy4, and C,Hg with smaller quantities of C,H4, C3Hg, and C3Hg. From these gas products;
H,, CO, CH4, CyH4, and C3Hg are the primary gas products. CO, and C3Hg are formed due to
secondary gas phase reactions, while it remains unclear whether C,Hg is a primary or a
secondary gas product. The carbon present in the glycerol ends up in carbon oxides and
hydrocarbons with a ratio of carbon in COy : carbon in C,H, of roughly 2. The ratios of CO:CO;,:H,
can be steered by the operating conditions. The overall mechanism of glycerol decomposition
seems to proceed through the dehydration of 1 mol H,O/mol glycerol and is independent of the
presence of Na® in the glycerol. Thus, the reaction pathway is not a function of the presence of
alkali metals in the feed.
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3 Explorative catalyst screening studies on reforming of
glycerol in supercritical water

This chapter is published in slightly different form as: J.G. van Bennekom, V.A. Kirillov, Y.l. Amosov, T.
Krieger, R.H. Venderbosch, D. Assink, K.P.J. Lemmens, H.J. Heeres, Explorative catalyst screening studies
on reforming of glycerol in supercritical water, J. Supercrit. Fluids, 70 (2012) 171-181.

Abstract

An explorative screening study for glycerol reforming in supercritical water with Pt/CeZrO,,
Ni/ZrO,, Ni/Ca0-6Al,0;, NiCu/CeZrO,, and a CuZn alloy was carried out to investigate the
influence of different catalysts on the carbon-to-gas efficiency and gas composition.
Experiments were conducted at 25.5 — 27.0 MPa in a continuous setup, with temperatures
ranging from 648 to 973 K, a feed concentration of 10 wt%, and a residence time of 8 to 87 s.
The catalysts promoted the decomposition of glycerol significantly. At 947 K the conversion of
glycerol without catalyst was approximately 40%, while in the presence of catalysts (almost)
complete conversion was obtained. All catalysts promoted the water-gas shift reaction, while
the ones based on Ni also promoted methanation. Visual coke formation was significant for
Ni/ZrO, and Pt/CeZrO,, which might be responsible for the observed reduction in activity at
longer runtimes for these two catalysts. The specific surface area of all catalysts, except for
CuZn, decreased after contact with water at supercritical conditions. Except for NiCu/CeZrO,,
XRD analysis indicated only minor changes in crystal structure of the supports, confirming the
stability and suitability of these supports in supercritical water.
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3.1 Introduction

Biomass is an attractive renewable feedstock for the production of energy and chemicals. For
relatively dry feeds, technologies such as pyrolysis, gasification, or combustion, may be used to
produce liquid fuels, fuel gas/syngas, or heat/electricity. For wet biomass streams,
hydrothermal conversion processes are promising process routes as energy intensive drying
steps can be avoided. Hydrothermal processes can be divided in those producing solids
(hydrothermal carbonization), liquids (hydrothermal liquefaction), or gases (hydrothermal
gasification). An extensive overview on these processes is presented elsewhere [1-6].
Hydrothermal gasification can be carried out at sub- and supercritical water conditions. The
latter process is also referred to as reforming in supercritical water (RSCW).

In the RSCW of biomass, the product gas can be steered towards a gas rich in H, and CO,, CH4
and CO,, or a mixture of H, CO and CO; (syngas) [7-10]. The exact composition of the product
gas is a strong function of process conditions and biomass feed. RSCW has some distinct
advantages over other gasification processes, such as higher energy efficiencies for wet biomass
and improved product gas qualities [3, 11, 12]. Furthermore, a gas at high pressure is produced
which is advantageous for use in downstream synthesis processes [13].

Agueous glycerol is a very promising feedstock for RSCW, as it decomposes rapidly in
supercritical water (SCW) and coke formation is negligible in the absence of catalysts [7, 14]. On
the contrary, coke formation was observed in the presence of catalysts [8]. The RSCW of
glycerol is briefly reviewed Chapter 2. The conversion of glycerol and the gas composition
strongly depend on the process conditions, feed concentration, reactor material, and the
presence of any type of catalyst. In Table 3.1 the gas compositions are summarized for
noncatalytic and catalytic glycerol reforming experiments. In all cases, the gas comprises H,,
CO,, and CH,4, but the concentrations differ substantially. The concentration of the different
components in the product gas varies over a broad range, viz. CO, (6 — 44 vol%), H, (0 — 67
vol%), CO (0 — 51 vol%) and CH4 (4 — 58 vol%). It is known that the reactor wall has catalytic
activity and promotes glycerol decomposition, the water-gas shift reaction (WGS), and
methanation. The activity for these reactions depends on the reactor material used [15-18]. In
experiments using inert quartz capillaries, the conversion of glycerol increased from below 65%
to above 85% by the addition of Inconel powder, a common reactor material for this type of
processes [17].
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Table 3.1 Overview of literature data on RSCW of glycerol.

Cat. Reactor Feed T p T H, Cco Cco, CH, CiH, Ref.
material (wt%)  (K) (MPa) (s) (vol%)
Incoloy 825 Cont. 5220 743-923  25.0 6-45 26-51 2037  6-22 6-23 3-7 7]
Inconel Cont. 10 873 30.0 ? 28 7 37 16 12 [19]
Hasteloy276  Cont. 1 653-773  25.0 65-300 48-64  0-1 27-44 48 0-4 [20]
Inconel 625 Cont. 18 873 345 44 52 2 31 14 1 [21]
Inconel 600 Cont. 10 823-923  25.0 3-7 50-54  30-32  9-13 2-6 0-3 [14]
Quartz Batch 19 823-973  30.0 60 1433 30-51 815 1422 69° [17]
Na,CO; Incoloy 825 Cont.  5-17 853-893  25.0 50-173 37-50  0-14 28-40  9-16 3-7 171
K,CO; Inconel 600 Cont. 10 873 25.0 5 55 1 30 5 9 [14]
Inc. 625  Quartz Batch 5 873 30.0 60 25-38 3440  13-14  10-11  4-11° [17]
C Inconel 625 Cont. 18 873 345 44 54 2 29 13 1 [21]
Ru/TiO, Inconel Cont. 10 873 30.0 ? 40 1 37 22 0 [19]
Ru/Al,O;  Inconel 600 Cont.  25-40  973-1073 24.1 1-4 42-67 05 25-35 319 0 [8]
Ru/C Steel 316L Cont. 20 673 30.0 ? 0-2 0 40-42 5658 0 [0]

®In this publication only H,, CO, CO,, and CH, are mentioned. These components add up to values between 91 and
96%. It is assumed that the remaining part is composed of higher hydrocarbons.
®Data is taken for Inconel powder loadings of approximately 2 — 6 g Inconel/g solution.

The number of publications on the catalytic RSCW of glycerol is rather limited, but both
homogeneous (alkali salts) and heterogeneous catalysts were investigated, the latter mainly
focusing on Ru as active metal. Alkali salts promote the WGS reaction and enhance the H, yield
[16, 17, 22, 23]. The use of heterogeneous catalysts promotes the WGS reaction in most cases,
whereas supported Ru catalysts promote methanation as well [9, 24]. In Chapter 2, it is shown
that the product gas composition is very well correlated with the conversion. The relations
between the gas yields and the conversion are combined and shown in Fig. 3.1 for respectively
pure glycerol (A) and crude glycerin (B). H,, CO, and CH4 have been shown to be primary gas
phase products in glycerol decomposition, while CO, is formed in a secondary follow-up
reaction. Methanation hardly proceeds at the conditions investigated [5, 7].

One of the attractive outlets for high pressure product gas from RSCW processes is syngas for
the production of methanol (see Chapter 1). A syngas with a stoichiometric number (Sy) of 2 is
preferred, with the Sy defined as [25]:

_(H,-CO,)

- (Eq. 1.4)
(CO+CO,)
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—H A, pure glycerol 304 B, crude glycerin

H

Yield (mol gas/mol glycerol)
Yield (mol gas/mol glycerol)
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Carbon conversion (%) Carbon conversion (%)

Fig. 3.1 Relations between the conversion and the gas yield for pure glycerol (A) and crude glycerin (B).

The highest theoretical Sy that can be obtained in glycerol reforming is 1.33. This is the case
when glycerol is completely converted to H,, CO, and CO, without any CH; and/or higher
hydrocarbons. The WGS reaction does not influence the Sy, as for every disappearing CO
molecule a H, and a CO, molecule are formed (see Eq. 3.1).

3CO+4H,
C3HsOs -3H,0 “+3Hzo (Ea. 3.1)
+3H0  3CO,+7H,;

The syngas composition from glycerol RSCW without catalysts or with alkali catalysts is not ideal
for methanol synthesis as the yield of H, is low compared to the yield of carbon oxides resulting
in an Sy smaller than 1. The gas composition needs to be improved to obtain a higher Sy, which
can possibly be accomplished by using heterogeneous catalysts in the RSCW of glycerol.

Catalyst selection is based on the literature on RSCW of various feedstocks. The selected
catalysts are: Pt/CeZrO,, Ni/ZrO,, Ni/Ca0-6Al,0s, NiCu/CeZrO,, and a CuZzn alloy. Ni is known to
promote C-C scission, methanation, and to a smaller extent the WGS reaction [10, 24, 26]. Cu
can be used to reduce the methanation activity of Ni. When an Inconel 600 reactor (an alloy of
Ni, Cr, and Fe) was replaced by a reactor made of a Cu-Ni alloy, CH4 production rates decreased
significantly when methanol was used as a feedstock [16]. Pt is selected based on studies on
C,Hg hydrogenolysis, where it was shown to have low activities for both the methanation and
the WGS reaction [27]. Catalysts based on CuZnO are well known for methanol synthesis and
methanol steam reforming and as such are expected to be active for glycerol reforming as well
[28]. Metal alloys are more simple to prepare and cheaper. Therefore, a CuZn alloy is tested as
well. As a support for these catalysts, a-Al,O3 modified with CaO and (Ce modified) ZrO, are
selected as ZrO, and a-Al,O3 are reported to be relatively stable supports in SCW [18, 24, 26].
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In this chapter, screening studies of catalytic glycerol RSCW are presented, to investigate
whether a syngas with an improved composition for methanol synthesis can be produced. This
research study is explorative in nature and involves the investigation of the effect of catalysts on
(i) the carbon conversion and (ii) the composition of the product gas over a broad range of
reactor temperatures.

3.2 Experimental section

3.2.1 Catalyst preparation

Pt/CeZrO, (1.83 wt% Pt, Cep 0sZr0.9,05)

A CeZrO, support was prepared by co-precipitation of an aqueous solution of Ce(NO3)s3:6H,0
and ZrO(NOs),-2H,0. The pH was increased from 2.7 to 8 by the addition of NH40H (2.2 mol/L,
10 mL/min). The precipitate obtained was aged at 353 K for 6 h, filtered and dried for 5 h at 383
K. The solid was calcined in an electric furnace at 993 K for 5 h in air atmosphere. After
calcination, the product was finely dispersed and was then pressed into tablets, crushed, and
sieved to achieve the desired particles size (0.5 — 1 mm). The support was impregnated with an
aqueous H,PtClg solution by incipient wetness impregnation. The catalyst precursor was dried
for 5 h at 383 K and calcined for 2 h at 973 K.

Ni/ZrO;, (15 wt% Ni)

A ZrO, support was prepared by thermal decomposition of ZrO(NOs),:2H,0 powder at 973 K for
12 h. The finely dispersed ZrO, obtained was pressed into tablets, crushed, and sieved. A sieve
fraction of 0.5 — 1 mm was collected. The catalyst was prepared using incipient wetness
impregnation with an aqueous solution of Ni(NOs),:6H,0. The resulting solid was dried at 383 K
for 5 h and calcined at 973 K for 2 h.

Ni/Ca0-6Al,03 (10.5 wt% Ni)

A Ca0-6Al,03 support was prepared by precipitation of an aqueous solution of Al(NO3)3-9H,0
and addition of CaCOs after drying. The pH was increased from 2.2 to 8 by drop wise addition of
NH4OH (2.2 mol/L, 10 mL/min). The precipitate obtained was filtered, dried for 5 h at 383 K, and
subsequently blended with CaCOs; powder. Calcination was performed in an electric furnace for
10 h at 1173 K in air. The powder was finely dispersed and subsequently pressed into tablets,
crushed, and sieved to achieve the desired particle size distribution (0.5 — 1 mm). The CaO-
6Al,03 support was impregnated with an aqueous solution of Ni(NOs),-6H,0 by incipient
wetness impregnation. The catalyst precursor was dried for 5 h at 383 K and calcined for 2 h at
973 K.
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NiCu/CeZrO, (25.5 wt% Ni, 8.5 wt% Cu, Ceg.46Zr0.540>)

The catalyst was prepared by co-precipitation of the metal salts (Ce(NOs)s-6H,0,
ZrO(NOs),:2H,0, Ni(NO3), -6H,0, and Cu(NO3s), -:3H,0). A detailed preparation procedure can be
found in the literature [29].

CuZn alloy (80% Cu, 20% Zn)

The representative alloys with a size of 5 x 5 mm and thickness of 1 mm were annealed at 823 K
for 2 h and chemically treated to increase the surface area and to create a film of CuO and ZnO.
This was done by treatment of the alloys with an aqueous solution containing 15 wt% NH,Cl in
contact with air. During this treatment, etching of the copper surface occurred, and the solution
turned blue. Finally, the chips were washed with distilled water and dried in an oven at 383 K.

3.2.2 Catalyst characterization

The BET specific surface area of the catalysts was determined using nitrogen adsorption
measurements at 77 K. The data were obtained using an automatic volumetric device (ASAP
2400). XRD measurements were carried out with a Siemens D-500 diffractometer (CuK,
radiation; graphite monochromator). The scanning range was 15 — 85° (20) with a scanning step
size of 0.05° (20).

3.2.3 Setup

Glycerol (purity > 99%) was supplied by Chemproha, The Netherlands. The RSCW of glycerol was
investigated in the bench scale setup with a capacity of approximately 1 L aqueous feed/h. The
system was constructed from Incoloy 825 and further details are provided in Chapter 2. The
reactor configuration used in this chapter is depicted schematically in Fig. 3.2.

A premixed feed was introduced into the system through a high pressure pump. The reactor
consisted of three insulated electrically heated reactor tubes in series. In all experiments, the
first reactor tube was used as a feed pre-heater and did not contain catalyst. The other two
reactors were partially filled with catalyst (see Table 3.2 for exact amounts).

Table 3.2 Catalyst intakes.

Catalyst Quantity in R2° Quantity in R3"
(g) (8)

Pt/CeZrO, 15.7 15.9

Ni/ZrO, 5.0 5.0

Ni/Ca0-6Al,0; 8.2 8.2

NiCu/CeZrO, 8.9 9.1

CuZn 7.7 7.7

°R2 = reactor 2, °R3 = reactor 3

The reactor effluent was cooled in a double-walled cooler using tap water. The product gas was
separated from the liquid phase in a high pressure separator (HPS) before depressurization,
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guantification (Gallus 2000 G1.6 gas meter), and analysis. The water phase in the HPS was
subsequently depressurized and sent to a low pressure separator (LPS). Gases released from the
water phase in the LPS were quantified with a similar gas meter and analyzed. The total gas
yield was taken as the sum of gas flows from the HPS and the LPS. Setup control and data
logging were conducted by a computer equipped with the Adamview software package. For the
experiments, the reactor temperature was varied from 648 K — 973 K, resulting in
(approximated) residence times of 8 — 87 s, with the shortest residence time at the highest
temperature. The weight hourly space velocity (WHSV) was between 3.0 and 9.7 g glycerol/g
cat./h (from here on the unit h™ is used). The feed concentration was kept constant at 10 wt%.
The pressure was maintained between 25.5 and 27.0 MPa.

)
gas booster \MFC/
N bottle o GC
} gas meter
heater coolant in
r RIT,
2 |
I
|
R |
I
1 \
|

oI
heater coolant out

3
LPS

|
l
heat
1
|
1
1 reducer
|
|

water +

er
glycerol feed B

gas meter

=

water out

—

w D

Fig. 3.2 Schematic representation of the continuous setup.

3.2.4 Analyses

The gas compositions were analyzed using an online dual-column gas chromatograph (GC 955,
Syntech Spectras) equipped with thermal conductivity detectors. CO was analyzed over a
molecular sieves 5 A column (L = 1.6 m), CO,, CHa, and Cs. using a Chromosorb 102 column (L =
1.6 m), both using helium as carrier gas. H, was analyzed on the molecular sieves column using
argon as carrier gas. The total organic carbon (TOC) content of the effluent water was analyzed
using a TOC analyzer (TOC-Vcsy, Shimadzu).
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3.2.5 Definitions and equilibrium calculations

The temperatures of the three reactors were measured at the outer surface of the reactor tubes
at two locations. It is not possible to measure the temperature of the flow leaving the catalyst
bed, so the temperature of an experiment was taken as the average temperature of the last
reactor. The carbon-to-gas efficiency (Cge) is defined as the ratio between the molar carbon flow
in the product gas (¢) and the molar carbon flow in the feed (¢ feeq):

Z¢C,i
Cor =———-100% (EqQ. 2.7)

C, feed

The molar carbon flow in the feed was calculated from the glycerol concentration and feed flow.
The molar carbon flow in the gas was calculated from the gas flow and composition. The
(carbon) conversion (&) is the conversion calculated by means of the molar carbon flow of the
feed and the molar carbon flow of the effluent water:

éf _ ¢C,feed _¢C,eﬁluent .100% (Eq 210)

C, feed

In the absence of coke formation the Cgr and {are equal. The Cgr and £ for a typical experiment
were the average values during the operating time of 2 — 4 h. The residence time (1) is
calculated with Eq. 2.11:

T _Veprp (Eq. 2.11)
¢m,STP

with V. as the geometric reactor volume, prp as the water density at (average) process

temperature and pressure and ¢,, ¢rp as the mass flow at standard conditions. For all residence

time calculations the feed was assumed to consist of pure water.

Equilibrium gas vyields for glycerol reforming were calculated from literature data for the
equilibrium constants for the WGS reaction and methanation as a function of the temperature,
using an in-house-developed Matlab routine [30]. Thermodynamic calculations at the prevailing
reaction conditions and feed concentrations indicate that the Boudouard equilibrium involving
CO, CO, and Ciis shifted completely to the CO side and as such this reaction was not considered.
The Soave-Redlich-Kwong equation of state was used to correct for nonideality [31].

Thermodynamic properties such as critical properties and acentric factors were obtained from
Reid [32].
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3.3 Results and discussion

3.3.1 Glycerol reforming in supercritical water

A total of 5 to 8 experiments were conducted at different temperatures for each catalyst.
Relevant details of the experiments are given in Table 3.3, together with data from previous
noncatalyzed experiments taken from Chapter 2. The carbon balance closures for Ni/CaO-
6Al,03, NiCu/CeZrO,, and CuZn are very good and reproducible. In case of Pt/CeZrO, and
Ni/ZrO, the closure of the carbon balance is less, indicating carbon losses, most probably by
coke formation on the catalyst. As mentioned before, the difference between Cge and (is a
good indicator for coke formation but also the experimental error has to be taken into account.
The average absolute difference in carbon balance closure for the noncatalytic experiments is
3.1% which can be considered as the average experimental error. Values that are significantly
higher indicate coke formation. The average difference between Cg and ¢ is a factor of 2-3
higher for Pt/CeZrO, and Ni/ZrO, compared to the other catalysts (Table 3.3).

Table 3.3 Relevant data on the experiments conducted.

Catalyst No.ofexp. T C-balance Average | Cse - <] Pressure build-up
(K) (%) (%)
Pt/CezrO, 8 623-933 82.8-97.9 7.7 Yes
Ni/ZrO, 5 721-912 85.5-98.4 6.0 Yes
Ni/Ca0-6Al,04 7 658-931 95.4-99.8 2.1 No
NiCu/CezrO, 7 648-966 95.6-102.4 2.1 Yes
CuZn 5 833-954 96.0-99.3 3.5 No
No catalyst® 6 879-898 94.5-99.8 3.1 No

®Results were obtained in the reactor configuration shown in Fig. 2.2B from Chapter 2.

The Cge and {'for the five catalysts are shown as a function of the temperature in Fig. 3.3. In this
figure one data point for a noncatalytic glycerol reforming experiment (at 947 K) is included as
reference. Apparently, both Cse and ¢ are much higher if a catalyst is present, typically yielding
values of 80 to 100% for the catalytic experiment versus 40% for the noncatalytic experiment.
All catalysts are active in the decomposition of glycerol into gaseous components.

For Pt/CeZrO,, Ni/ZrO,, and NiCu/CeZrO, a pressure build-up in the reactor was observed. In
case of the former two catalysts, coke formation was likely responsible as it was observed
visually at the catalysts surface and the inner surface of the reactor. For NiCu/CeZrO,, coke
formation could not be observed visually and the increase in pressure drop was caused by
disintegration of the solid structure of the catalyst into a paste.
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Fig. 3.3 Csr and ¢as a function of the temperature for five different catalysts: Pt/CeZrO, (A, GHSV =3 h),
Ni/ZrO, (B, GHSV = 9.7 h™%), Ni/Ca0-6Al,0; (C, GHSV = 5.9 h™"), and NiCu/CeZrO, (D, GHSV = 4.6 h™*) and
CuZn (D, GHSV=6.4 h'l). Experimental conditions: 7=8 —87 s, P=25.5 —27.0 MPa, [feed] = 10 wt%. The
solid lines are for illustrative purposes only.

The exit gas flows versus runtime were measured and the results for some typical experiments
with the different catalysts are given in Fig. 3.4. For experiments with Pt/CeZrO, and Ni/ZrO,,
the gas flow dropped approximately 10% during 2 — 3 h of operation (see Fig. 3.4), an indication
for deactivation of the catalyst. The reduction in gas flow hardly influenced the gas composition.
For the other catalyst the gas flow remained more or less constant, which can be seen in Fig.
3.4. Deactivation can be caused by changes in catalyst structure (for Pt/CeZrO, increase in
crystallite size of Pt and for Ni/ZrO, changes in support morphology, see Section 3.3.2) or coke
formation, as visually observed for most experiments, or combinations thereof. Unfortunately,
we were not able to determine the exact amount of coke deposition on the catalyst to assess
the impact of coke formation on catalyst performance.
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Fig. 3.4 Exit gas flows for typical reforming experiments. Gas flows were measured at ambient
conditions. Catalyst and operating temperature of R3: Pt/CeZrO, (932 K), Ni/ZrO, (863 K), Ni/Ca0-6Al,0;
(730 K), NiCu/CeZrO, (781 K), and CuZn (836 K), P = 25.5 —27.0 MPa. The solid lines are trend lines and
for illustrative purposes only.

The observed activation energies for glycerol reforming for Pt/CeZrO, and CuZn in our reactor
system were calculated assuming a first order decomposition reaction in glycerol and plug flow
behavior in the reactor tubes. From the conversion data, the reactor volume, and the
volumetric flow (using the density of SCW for the complete flow) the reaction rate constant was
calculated. The observed activation energy was then calculated using the Arrhenius equation.
The observed activation energy for Pt/CeZrO, and CuZn are 93 * 16 kJ/mol and 148 + 29 klJ/mol
(95% confidence limits) respectively, as compared to 196 klJ/mol for reforming without catalysts
and 183 kJ/mol for reforming crude glycerin (glycerol derived from biodiesel production
containing NaCl) [7]. The catalysts reduce the observed activation energy of glycerol
decomposition, which allows for less severe operating conditions, but these observed activation
energies should be treated with some care. The values, in particular in the case of Pt/CeZrO,,
may not be constant as some catalyst deactivation was observed (Fig. 3.4), which is expected to
lead to higher activation energies. For the other catalysts, no or too few data points are
available with conversions significantly lower than 100% to calculate the activation energy.

The gas composition for catalytic and noncatalytic reforming is illustrated in Table 3.4 and
compared with equilibrium data. The main components in the noncatalytic experiments at 898
K are H, and CO. The concentrations of CO, and CH4; are around 12 vol% and higher
hydrocarbons are present as well. The WGS reaction hardly proceeds in the absence of
catalysts. The gas composition is significantly influenced by the presence of catalysts. The
equilibrium composition for the WGS reaction is reached in the presence of four of the five
catalysts. The only exception is CuZn, which has less activity for the WGS reaction than the other
catalysts, but more activity than in case of the noncatalytic experiment. CH; was present for all
catalyst ranging from 8.8 — 22.6 vol%. The CH; concentration of 22.6 vol% for Ni/ZrO, is
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significantly higher than the equilibrium value. An hypothesis for this high CH, concentration is
that due to coke deposition at the reactor wall the temperature of the medium could not have
reached the temperature recorded for reactor 3 and equilibrium was reached at a lower
temperature than recorded. The equilibrium concentration of 22.6 vol% CH,4 corresponds to a
temperature of 872 K assuming complete glycerol conversion.

Table 3.4 Comparison of the gas composition for catalytic and noncatalytic reforming.

Catalyst T ¢ H, co CO, CH, C,Hg (o9
(K) (%) (vol%)
Pt/CeZrO, 932 97 51.0 0.4 34.6 8.8 4.4 0.9
Ni/ZrO, 912 99 41.9 0.7 34.8 22.6 0.0 0.0
Ni/Ca0-6Al,0; 931 99 51.1 0.8 324 15.7 0.0 0.0
NiCu/CeZrO, 933 99 534 0.8 32.2 13.5 0.0 0.0
CuZn 937 87 44.8 13.6 24.8 119 4.1 0.8
No catalyst® 898 85 356 33.2 12.9 11.6 5.4 1.3
Equilibrium 1° 898 100 47.4 1.1 33.0 18.5 0.0 0.0
Equilibrium 2° 933 100 52.6 1.5 31.8 14.1 0.0 0.0
Equilibrium (no methanation)* 933 100 69.2 2.7 28.1 0.0 0.0 0.0

®Sum of the concentrations of C,H,, C3Hg, and C3Hg.
®Results taken from an experiment conducted in the research study described in Chapter 2.
“Equilibria are calculated for 25.0 MPa.

In case of Pt/CeZrO, and CuZn, significant amounts of higher hydrocarbons are present in the
gas phase. Thus, methanation or the reforming of higher hydrocarbons is not or hardly
promoted, as the concentrations of CH; and the higher hydrocarbons for these catalysts are
similar to the concentrations obtained in noncatalytic reforming. For noncatalytic reforming
methanation was shown to be negligible and CH4 was formed directly as a primary gas phase
product during decomposition [5, 7].

The gas compositions (vol%) for the different catalysts versus the temperature are shown in
Fig. 3.5. The lines represent equilibrium values in case of complete glycerol conversion. For
Pt/CeZr0,, the following assumptions were used to calculate the equilibrium composition. All
hydrocarbons were considered as primary products and only the WGS reaction was taken into
account in the equilibrium calculation. The average hydrocarbon concentration over the whole
temperature range (CH4 = 6.0 vol%, C,Hg = 3.9 vol%, CsHg = 0.7 vol%) was taken as a constant
value. Methanation was assumed to be absent and this reaction was neglected (see Fig. 3.5A).
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Fig. 3.5 The gas composition as a function of the temperature for five different catalyst: Pt/CeZrO, (A,
GHSV =3 h™), Ni/ZrO, (B, GHSV = 9.7 h™), Ni/Ca0-6Al,0; (C, GHSV = 5.9 h™"), NiCu/CeZrO, (D, GHSV = 4.6
h™), and Cuzn (E, GHSV = 6.4 h'"). Experimental conditions: 7=8 —87s, P = 25.5 - 27.0 MPa,

[feed] = 10 wt%. The lines represent the equilibria. For the equilibrium calculation of Pt/CeZrO, (A) only
the WGS reaction was taken into account.
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For Pt/CeZrO,, the product gas contains mainly H, and CO, and traces of CO. The concentration
of CHs; and C,Hg varies between 3.3 — 8.8 vol% and 2.3 — 4.8 vol% respectively. The
concentration of H, and CO, shows a slightly decreasing trend, while the concentration of
hydrocarbons increases somewhat over the temperature range. The concentrations of H,, CO,,
and CO follow a trend predicted by the equilibrium calculation although the values deviate
slightly (see Fig. 3.5A). This is likely caused by the assumption of constant hydrocarbon
concentrations and the formation of coke in these experiments. The similar trends of the
experimental data and the equilibrium predictions without methanation justify the assumption
of neglecting methanation. Thus, for Pt/CeZrO, it is likely that the CH,; present is mainly a
primary gas phase reforming product, as in case of noncatalytic experiments [7]. With no or
hardly any methanation activity the equilibrium gas composition appears to be almost
independent of the temperature. The WGS reaction is at or close to equilibrium as almost no CO
is present in the gas.

For the other catalysts the gas compositions show a stronger temperature dependence. For
Ni/ZrO, (Fig. 3.5B) some CO is still present at low temperatures, but is absent at higher
temperatures. The CH; concentration in particular increases, even exceeding the equilibrium
concentrations (an explanation is given before). The trends observed for the gas phase
concentrations for Ni/CaO-6Al,03, and NiCu/CeZrO, (Fig. 3.5C-D) versus temperature are rather
similar, but the concentrations of the components differ. Although Ni/CaO-6Al,03 has a lower Ni
loading this catalyst seems more active in promoting methanation than NiCu/CeZrO, as
equilibrium values are reached at lower temperatures. At higher temperatures, the
experimental concentrations are in agreement with the calculated equilibrium values for both
catalysts. The presence of Cu in NiCu/CeZrO, possibly reduces the methanation activity of Ni.
The effect, however, seems less pronounced than observed in the literature [16]. Comparing the
catalysts containing Ni or NiCu with the Pt catalyst, a substantial amount of higher hydrocarbons
is present when the Pt catalyst is used (as in noncatalytic reforming, see Table 3.4 and Chapter
2). When Ni or NiCu are present, the higher hydrocarbons may be reformed into smaller
components that react further through the WGS reaction and methanation.

CuZn (see Fig. 3.5E) is the least active catalyst and the gas composition deviated substantially
from the gas compositions obtained with the other catalysts. At higher temperatures, a
substantial amount of CO (> 13 vol%) is still present, while the CH; and C,Hg concentrations are
similar to experiments with Pt/CeZrO, and noncatalytic experiments. For CuZn, both
methanation and the WGS reaction do not reach equilibrium.

Catalysts can act upon glycerol decomposition in three ways, viz. (i) initial decomposition of
glycerol into water-soluble intermediate products, (ii) the conversion of these intermediate
products to gas, and (iii) gas phase reactions. No conclusions can be drawn on the former two as
in the majority of the experiments complete glycerol conversion was obtained and no effluent
samples were analyzed for intermediate organic products. Obviously, the catalysts influence the
gas phase reactions as the gas phase composition is a strong function of the temperature (Fig.
3.5), approaching equilibria at the higher temperatures (which was not the case for experiments
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with pure glycerol without catalysts). The variations in the gas phase compositions for the
different catalyst and the different temperatures can be rationalized by assuming that glycerol
decomposes into H,, CO, CHy, and C, and C3 hydrocarbons. CO, is formed in the WGS reaction.
The catalysts promoting methanation (Ni and NiCu) reform the C,/Cs hydrocarbons and only H,,
CO, CO,, and CH4 remain present in the gas phase, which would also be expected from
thermodynamics. The methanation activity determines the final composition. For the other
catalysts (Pt/CeZrO, and CuZn) all gas products originally formed remain present and the WGS
activity of the catalyst determines the final composition.

Although the presence of any of the catalysts influences the gas phase composition
significantly, the actual compositions are not particularly attractive for a subsequent reaction to
methanol. The values of some performance indicators (Cg;, Sy, and CiHy; sum of the
concentrations of all C; — C3 hydrocarbons) for the different catalysts are shown in Fig. 3.6. The
performance indicators are a qualitative measure for the quality of the syngas in combination
with the performance of the catalyst. For methanol synthesis, an Sy as close as possible to 1.33
(see Eq. 7.2 in Chapter 7), a high Cgg, and low CH, content are preferred.

The extremities of the performance indicators are: 22 < Cge < 99%, -0.45 < Sy <0.96, and 3.5 <
CiHy < 39.3 vol%. The Sy follows more or less the inverse trend of the C,H, content and goes
through a minimum for the Ni containing catalysts. The other catalysts have a gradually
decreasing Sy and increasing CyH, content. The highest Sy value is 0.96 for CuZn at 836 K and a
Cse of 31%. The highest Sy value at Cg's exceeding 95% is 0.76 for NiCu/CeZrO, at around 973 K.
Both Sy values are far from the preferred value of 1.33, due to the formation of CH,. Because
the gas composition obtained with the Ni based catalyst is close to equilibrium at the higher
temperatures (see Figs. 3.5B-D), the Sy can be improved by further increasing the temperature
or reducing the feed concentration. For the production of ‘green’ natural gas Ni/CaO-6Al,03; and
to a lesser extent NiCu/CeZrO, appear to be attractive catalysts based on their methanation
activity.
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Fig. 3.6 Values of the performance indicators qualitatively defining the performance of the catalyst and
the quality of the syngas. Pt/CeZrO, (A, GHSV = 3 h"), Ni/ZrO, (B, GHSV = 9.7 h™), Ni/Ca0-6Al,0; (C, GHSV
=5.9 h™), NiCu/CeZrO, (D, GHSV = 4.6 h™), and CuZn (E, GHSV = 6.4 h™). Experimental conditions:
7=8-87s,P=25.5-27.0 MPa, [feed] = 10 wt%. The lines are trend lines and for illustrative purposes

only.

In Fig. 3.7 the gas yields (in mol/mol feed) are plotted as a function of the operating
temperature for Ni/Ca0-6Al,03 and NiCu/CeZrO, for experiments with Cgr and ¢ exceeding 96%.
Initially, the CH4 yields increases with temperature at the expense of H, and CO,. Above a
certain temperature (748 K for Ni/CaO-6Al,03 and 798 K for NiCu/CeZrO,), the CH4 yield
decreases again, and the H, and CO, yield increases. In both cases, the yield of CO is negligible.

66



Explorative catalyst screening studies on reforming of glycerol in supercritical water

Apparently, at low temperatures methanation is kinetically limited, while at higher
temperatures thermodynamic limitations play a major role. Although both catalysts show
similar trends in gas yields, CH; production at lower temperatures is substantially higher for
Ni/Ca0-6Al,0s.

A H o CO <o HO A, Ni/CaO-6ALO, B, NiCu/CeZrO,
3.0
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Yield/water consump. (mol/mol feed)
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Fig. 3.7 The gas yields and the water consumption as a function of the temperature for Ni/CaO-6Al,0; (A,
GHSV =5.9 h"), and NiCu/CeZrO, (B, GHSV = 4.6 h™). Experimental conditions: 7=8 —21s,
P =25.5-27.0 MPa, [feed] = 10 wt%. The lines are trend lines and for illustrative purposes only.

From the glycerol feed concentration, gas yields, and carbon concentration in the effluent
water, and assuming that the only organic component in the effluent water is nonconverted
glycerol, the overall element balances for carbon, hydrogen, and oxygen can be derived based
on glycerol. The carbon balance closure is close to 100% (see Table 3.3), however, the closure of
the balances for H and O are in between 90 and 150%. For all experiments, this difference can
be attributed to reactions involving water which lead to a net water production or consumption.
From the element balances, the overall water production/consumption can thus be derived and
the lines are shown in Fig. 3.7 as well. Water production or consumption is due to the WGS
reaction and methanation.

In the literature Ru based catalysts for the RSCW of glycerol were investigated (see Table
3.1). These catalysts can be used for methanation, which is also the case for the Ni based
catalysts investigated here. In this study, the opportunities in the catalytic RSCW of glycerol are
extended with experiments with a Pt based catalyst and a CuZn alloy. Both catalysts showed
completely different behavior, with low or no methanation activity and some WGS activity.
Besides quantification of the performance of the catalysts in glycerol reforming, the catalysts
are characterized, to gain more understanding in the influence of RSCW on the catalyst
structure.
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3.3.2 Catalysts characterization before and after the experiments

In Table 3.5 relevant properties of the catalysts are shown. The spent catalysts samples were
taken out of the reactor after having been in contact with water at supercritical conditions for
more than 20 h. Notably, the specific surface area was reduced for all the porous catalysts, but
increased for the CuZn alloy. For the latter, the increase is probably due to leaching in SCW. It
proved not possible to quantify the extent of leaching e.g. by analyses of the Cu content in the
effluent water. The main reason is that the reactor wall contains Cu (Incoloy 825), which may
also be prone to leaching. The decrease of the surface area for NiCu/CeZrO, is the most
dramatic with a factor of approximately 15, and the solid structure of the catalyst had collapsed
into a paste. The other catalysts maintained their original solid structure. The reduction in
specific surface area might be due to the collapse of the porous structure, sintering, and coke
deposition on the catalyst leading to pore blockage.

Table 3.5 Relevant catalyst properties before and after reaction.

Catalyst Fresh®  Spent®  Visual coke formation® Appearance spent cat.
(m’/g)  (m’/g)

Pt/CezrO, 35 16 + Solid

Ni/ZrO, 20 13 + Solid

Ni/Ca0-6Al,04 20 12 +/- Solid

NiCu/CeZrO, 151 9 +/- Paste

CuZn (alloy) 0.3 1.2 - Solid

a
BET surface area.
®} = coke clearly visible, +/- coke slightly visible, - = no coke formation visible

X-Ray diffraction patterns were measured for fresh and spent catalysts. These patterns are
shown in Figs. 3.8 — 3.12. In each of these figures the lower pattern represents the diffraction
pattern of the fresh catalyst and the upper pattern is the diffraction pattern of the spent
catalyst.

In Fig. 3.8 the XRD spectra for Pt/CegsZro.9,0, are shown. In the fresh sample a tetragonal
phase of ZrO, or Ceg08Zro.920; is present. Pt was not detected in the fresh sample, probably due
to the small crystallite size and low loading. The spent catalyst contains tetragonal ZrO, (or
Ceo.08Z2r0.920;). A small amount of monoclinic ZrO, was detected. The lattice parameters of the
tetragonal phase are slightly larger than those for pure tetragonal ZrO, which indicates a
modification of the tetragonal ZrO, structure by Ce. In the spent sample Pt with a crystallite size
of 20 nm was detected. The crystallite size of Pt increased probably due to the agglomeration of
Pt crystallites at these harsh conditions.
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Fig. 3.8 Diffraction pattern of Pt/CeZrO,, fresh and spent catalyst. Monoclinic ZrO, (a), tetragonal CeZrO,
(b), Pt (c).

The diffraction patterns of Ni/ZrO, are given in Fig. 3.9. The fresh sample contains cubic NiO,
monoclinic ZrO,, and probably small quantities of tetragonal ZrO,. The XRD spectrum of the
fresh sample has a very small peak at 30.5° which is the strongest reflection angle of the
tetragonal phase. The spent sample contains a larger amount of tetragonal ZrO, and apparently
a part of the monoclinic ZrO, phase is converted into tetragonal ZrO,. NiO, present in the fresh
sample is completely converted into metallic Ni. In the spent sample no NiO phase was
detected. The size of Ni crystallites in the spent sample is approximately 50 nm.

a = monoclinic ZrO,

b = tetragonal ZrO2

¢ =Ni
d =NiO

Intensity (a.u.)
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260 (°)

Fig. 3.9 Diffraction pattern of Ni/ZrO,, fresh and spent catalyst. Monoclinic ZrO, (a), tetragonal ZrO, (b),

Ni (c), NiO (d).
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Diffraction patterns for Ni/CaO-6Al,03 are shown in Fig. 3.10. Both samples contain a hexagonal
Ca0-6Al,05; phase and an a-Al,03 phase, and are very crystalline as can be seen from the
narrow peaks. The peaks that are not labeled have reflections for both phases at similar
positions. The fresh sample contains cubic NiO, while this phase is not present in the spent
sample. The spent sample contains only Ni (crystallite size 40 nm) in the metallic form. As with
Ni/ZrO, after subjection to SCW, Ni(0) is present, which remained in the reduced form after
exposure to air upon opening the reactor and collecting the catalyst. A small amount of CaO; is
present, indicated by a diffraction peak at 29.4°, labeled with a ‘¢’ in the diffraction pattern.

a = hexagonal Ca0-6AL,0, d=Ni
b=a-AlO, e =Ni0
c=Ca0,

Intensity (a.u.)

20 30 40 50 60 70 80
26 ()
Fig. 3.10 Diffraction pattern of Ni/CaO-6Al,0;, fresh and spent catalyst. CaO-6Al,0; (a), a-Al,0; (b), CaO;
(c), Ni (d), NiO (e).

Diffraction patterns of NiCu/Ceq.46Zro.540, are shown in Fig. 3.11. The fresh sample is practically
amorphous, however, broad peaks are visible of a cubic NiO phase. Most probably, these
reflections can be attributed to a solid solution of Ni;Cu,O (a = 4.185 A) on the basis of NiO.
Some diffuse peaks from CeZrO, were observed as well. The pattern of the spent sample differs
significantly from the fresh sample and crystallized phases are present. The first two peaks (at
18.1° and at 25.0°) and several small reflections in the spent sample correspond with a hydroxy
copper carbonate phase.

The peaks marked ‘c’ in Fig. 3.11 deviate slightly from the diffraction peak position for pure
metallic Ni which can be due to the presence of Cu in a Niy,Cu, alloy. The peaks marked ‘b’ in
Fig. 3.11 represent a cubic solid solution of CeZrO, probably with a slight distortion.
Furthermore, it is possible that a small quantity of other Ce(Zr) oxides is present. The
amorphous phase of the fresh sample was converted in SCW into a crystalline solid solution of
CeZr0,. The poorly crystallized Ni;,Cu, oxides were converted to metallic Ni;Cuy (crystallite
size 42 nm). The structural stability of NiCu/CeZrO, and the specific surface area (see Table 3.5),
however, deteriorated substantially. Remarkably, this structural disintegration did not reduce
the activity of the catalyst, indicating that enough specific surface area remained present to
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retain activity. For a Mn0O,/CeO, catalyst in SCW oxidation, similar phenomena of catalyst
disintegration and structural changes were observed that did not affect the catalyst activity
adversely [33]. On the contrary, the structural change even had a positive effect on the activity
of the catalyst. The instability of NiCu/CeZrO, in SCW can be caused by the high specific surface
area of the catalyst, the presence of an amorphous phase and a high CeO, content. Stability
issues have been reported for Al,0; modified with higher loadings of Ce [34], while pure ZrO,
supports remain stable [35].

a = Cu,(OH),CO,
5 b = tetragonal CeZrO,
c=Ni_Cu
1% x
d=Ni, CuO
—_
=2
H b
0
= ¢
2
b
..q_-,) b b c
[ L a
Spent
MMM"WW
Fresh
T T T T T T

20 (°)

Fig. 3.11 Diffraction pattern of NiCu/CeZrO,, fresh and spent catalyst. Monoclinic Cu,(OH),COs (a),
tetragonal CeZrO, (b), NiyCuy (c), NiCu,O (d).

The diffraction patterns of the CuZn alloy are shown in Fig. 3.12. The surface of the fresh sample
contains hexagonal ZnO and monoclinic CuO. The average crystallite sizes for both phases are
similar and are approximately 50 nm. Some weak reflections are visible in the pattern which are
uncharacteristic for the specified phases. These reflection can be assigned to the presence of
some impurities (NiO and MgO) in the sample. The spent sample contains the same ZnO phase
as the fresh sample and metallic Cu.
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b a=7Zn0
b=Cu
c=Cu0

Intensity (a.u.)

20 ()

Fig. 3.12 Diffraction pattern of CuZn, fresh and spent catalyst. ZnO (a), Cu (b), CuO (c).

3.4 Conclusion

The influence of five different catalysts (Pt/CeZrO,, Ni/ZrO,, Ni/CaO-6Al,03, NiCu/CeZrO,, and
CuZn, a nonporous alloy) on the reforming of glycerol in supercritical water was studied. The
presence of a catalyst significantly promoted the decomposition of glycerol, but also the water-
gas shift reaction. The catalysts containing Ni also promoted methanation, but the rate of
methanation appeared lower than the water-gas shift reaction. For all catalysts except CuZn the
water-gas shift reaction reached equilibrium while the methanation equilibrium was reached
only at the higher temperatures (> 773 K). When using Pt/CeZrO, and Ni/ZrO, coke formation
and pressure build-up were observed. In the experiments with Ni/Ca0-6Al,03, NiCu/CeZrO,, and
CuZn the coke formation was limited, however, the NiCu/CeZrO, catalyst disintegrated and its
solid structure was lost, but reforming activity remained.

The gas composition was a strong function of the reactor temperature as expected from
thermodynamics and a wide range of gas compositions was obtained. Except for NiCu/CeZrO,
the catalyst structures remained largely intact in supercritical water and only minor changes in
the support structure were observed. The surface area of all porous catalysts decreased. The Sy
value of the gas compositions for the different catalyst was below 1 and therefore not very
attractive for methanol synthesis. However, Ni/Ca0-6Al,03 strongly promotes methanation and
has potential for the production of ‘green’ natural gas by reforming in supercritical water.
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4 Methanol synthesis beyond chemical equilibrium

This chapter is published in slightly different form as: J.G. van Bennekom, R.H. Venderbosch, D. Assink,
K.P.J. Lemmens, J.G.M. Winkelman, E. Wilbers, H.J. Heeres, Methanol synthesis beyond chemical
equilibrium, Chem. Eng. Sci., 87 (2013) 204-208.

Abstract

In commercial methanol production from syngas, the conversion is thermodynamically limited
to 30 — 70% leading to large recycles of nonconverted syngas. This problem can be overcome to
a significant extent by in situ condensation of methanol during its synthesis which is possible
nowadays due to the availability of highly active catalysts allowing for lower reactor
temperatures. For the first time, in situ methanol condensation at 20 MPa and 473 K was
demonstrated visually in a view cell. The condensation of reaction products (mainly methanol
and water) drives the equilibrium reactions nearly to completion, as is demonstrated
experimentally in a packed bed reactor and supported by thermodynamic calculations. Contrary
to conventional methanol synthesis, once-through operation becomes possible avoiding
recycling of unconverted syngas, which can be economically beneficial for industrial
stakeholders.
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4.1 Introduction

Methanol is the simplest of all alcohols and has a wide application range. The global annual
production was approximately 38 million metric tons in 2007 and is expected to grow [1].
Methanol is mainly used for the production of bulk chemicals like formaldehyde, acetic acid,
and a wide variety of application products including polymers and paints. In addition, methanol
has high potential as a clean and renewable energy carrier [2]. Methanol is produced from
syngas, a mixture of H,, CO, and minor quantities of CO, and CH4. Methanol synthesis proceeds
in gas-solid catalytic reactors where three reactions at the catalyst surface are important: (i)
hydrogenation of CO, (ii) the (reverse) water-gas shift reaction, and (iii) hydrogenation of CO;:

CO+2H, —  CHsOH A H2, =-90.64 kl/mol (Eq. 1.1)
CO, + H, P CO + H,0 A HY, =+41.17 kJ/mol (Eq. 1.2)
CO,+3H, =  CH;OH+H,0 A HS, =-49.47 kI/mol (Eq. 1.3)

There is discussion about the actual reactions proceeding in methanol synthesis [3], however,
for this research study the contribution of each individual reaction is not important. For the sake
of completeness all three reactions are shown. Methanol synthesis is exothermic and reversible.
The conversion of CO+CO, at chemical equilibrium is a function of the pressure and
temperature (see Fig. 4.1).

1004 wzazz c
27
[Pz

80 -
9
[ 60 -
o
g
9 + 25 MPa
o 404
20 MPa
204 15 MPa
10 MPa
0 5 MPa
T T T T T T T T T
463 503 543 583 623
T(K)

Fig. 4.1 Equilibria in methanol synthesis. Approximate conditions for: Conventional processes (a), BASF’s
high pressure process (b), this work (c). Syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%.

The first large-scale methanol synthesis plant was constructed by BASF in the 1920s and had to
be operated at high temperatures (573 — 633 K) to compensate for the low catalyst activity [4,
5]. In order to obtain reasonable conversions high pressures (15 — 25 MPa) were needed. With
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the availability of more active Cu based catalysts and advanced syngas purification techniques
operation at lower pressures and temperatures became possible. As a result, the so-called low-
pressure methanol synthesis process (5 — 10 MPa, 490 — 570 K) was developed by ICl in the
1960s. The majority of the high pressure units has been converted to the low pressure system
since then [5, 6]. Both methanol synthesis processes require large recycle flows of syngas due to
the limited conversion per reactor pass [6].

The development of more active catalysts allows for even lower reactor temperatures (473 >
T > 520 K) while high reaction rates are maintained [7]. The combination of high pressures (15 —
25 MPa) and low temperatures, which are the envisaged conditions for this research study,
favors high equilibrium conversions towards methanol.

Several studies have been conducted to circumvent the limitations imposed by
thermodynamic equilibria and mainly involve in situ methanol removal. Examples are methanol
adsorption on fine alumina powder or the use of a solvent such as tetraethylene glycol, n-
butanol, or n-hexane [8-10]. An alternative method is based on the in situ separation of reaction
products by condensing them on the surface of a condenser inside the reactor, close to the
catalyst bed [11]. All methods led to higher syngas conversions, but have main drawbacks such
as the introduction of other chemicals, complicated operation, or low space time yields. An
attractive concept to move beyond chemical equilibrium is to apply in situ condensation of
methanol without using adsorbents or additional coolers. Condensation is expected to occur at
high pressure and low temperatures. To the authors knowledge, condensation has only been
shown indirectly by experimental observations of conversions higher than the equilibrium
conversions or calculations based on thermodynamic models, [12-15] though has never been
demonstrated visually before.

Here, we provide the proof of principle for methanol condensation at high pressure (20 MPa)
and relatively low temperature (473 K) in a so-called view cell with a transparent window to
allow visual observation of the methanol synthesis reactions. View cells have been used to
investigate phase behavior and precipitation [16-21]. Its potential for chemical reactions and in
situ spectroscopy has been recognized [22-26], though to the authors knowledge, a view cell has
not been used so far to perform reactions with heterogeneous catalysts in a stirred cell
configuration. In this study the cell contains a typical commercial heterogeneous methanol
catalyst (Cs doped Cu/ZnO/Al,03) with high activity.

4.2 Materials and methods

Experiments were performed in a view cell and a packed bed reactor. A schematic
representation of the view cell is given in Fig. 4.2. The experiments to visualize condensation
were performed in a view cell reactor. The view cell is a high pressure reactor (32 — 64 mL),
which can be operated at temperatures up to about 473 K (electrical heating) and pressures up
to 60 MPa. A transparent sapphire window allows the observation of the phenomena taking
place inside the view cell. The view cell is equipped with either a small basket or a propeller-
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shaped stirrer. In all view cell experiments cylindrical catalyst pellets were used with a diameter
and height of approximately 5 mm. The catalyst used was a commercial Cs doped Cu/ZnO/Al,0s
catalyst, but any methanol synthesis catalyst could have been used. The view cell was operated
in semi-batch mode at constant pressure (20 MPa) and temperature (473 K). The setup for the
view cell contained a gas mixing section which can be used to make any mixture of the
connected pure gases. The gas mixture was pressurized and stored in the gas storage bomb. The
view cell was fed from the storage bomb. The pressure was maintained in the view cell with a
pressure controller (PC). The view cell was operated in semi-batch mode at constant pressure
(20 MPa) and temperature (473 K). All reactor exits were closed. The experiments in the view
cell were conducted with two home-made gas compositions; H,/CO/CO,/CH; =
65.0/25.0/5.0/5.0 vol% and H,/CO/CO, = 70.0/28.1/1.9 vol%.
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Fig. 4.2 Schematic flow diagram of the view cell setup including the gas mixing section. GC = gas
chromatograph.

Detailed descriptions of the packed bed reactor are given in Chapter 5 and 6. The two packed
bed reactors were operated in continuous mode and contained an excess of catalyst
(approximately 50 g per reactor). The reactor setup consisted of two packed bed reactors. The
first packed bed reactor had a sharp temperature rise and a high conversion is already obtained.
The second reactor is operated almost isothermally and allows the reaction to proceed till
equilibrium. The exit flow was quantified and analyzed. The process conditions and syngas
compositions used in the experiments are given in Table 4.1. Syngas 1 resembles a gas which is
typically used in methanol synthesis. Syngas 2 has a similar H, content but now CO, is the main
carbon oxide. Such a syngas is interesting as the topic of methanol synthesis from H, from water
and CO, from air is gaining more attention [27].
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Table 4.1 Process conditions of the experiments conducted in the packed bed setup.

Syngas T P H, co CO, CH,
(K) (MPa) (vol%) (vol%) (vol%) (vol%)
468-543 15-20 67.0-68.0 24.0-244 3.0-35 50-51
2 484-543 20 69.9 5.0 20.0 5.1

4.3 Results and discussion

The catalyst pellets were positioned around a propeller-shaped stirrer or placed in a small
basket. Prior to the experiment the catalyst was activated by reduction (2 h at 443 K, 2 h at 473
K, 2 h at 493 K, 10 vol% H, in N, 3 Nm>/kg cat./h, 0.2 MPa). The initially black (Cu(ll) oxide)
catalyst (Fig. 4.3A) turned reddish (Fig. 4.3B). There is debate about the active Cu species in
methanol synthesis. It can be Cu(0) or Cu(l) oxide, possibly in interaction with the other catalyst
constituents [28]. Both species are red and we could not establish which species was observed.
The catalyst retains its reddish color during methanol synthesis.

Fig. 4.3 Visual observation of catalyst reduction. Fresh unreduced catalyst (A). The catalyst after
reduction (B). Pellet diameter =5 mm.

The view cell was operated in a semi-batch mode and methanol synthesis was initiated by
feeding syngas (H,/CO/CO, = 70.0/28.1/1.9 vol%). The most striking and most relevant
observation here is the in situ liquid phase formation at 20.0 MPa and 473 K (Fig. 4.4).
Conditions for condensation are a function of the syngas composition and liquid formation was
also observed at 17.5 MPa and 473 K for a syngas with composition: H,/CO/CO,/CH; =
65.0/25.0/5.0/5.0 vol%.
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Fig. 4.4 Liquid formation in a view cell. P = 20.0 MPa, T = 473 K, Syngas: H,/CO/CO, = 70.0/28.1/1.9 vol%.

Upon prolonged reaction times, the liquid accumulated and part of the catalyst became
immersed in the liquid phase which can be seen in the Movies 1 — 3 (see supplementary
materials of the original publication in Chem. Eng. Sci. at Science Direct). Screenshots of the
movies are given in Fig. 4.5 with explanatory labels. In Movie 1 and 2 the view cell contains a
basket with catalyst. The basket has a Teflon body with open cavities to contain catalyst
particles. A woven wire mesh of stainless steel was wound around the Teflon body to keep the
catalyst in place. In Movie 1 (Fig. 4.5A) the interior of the view cell is visible. The view is slightly
tilted due to some technical issues (light reflection) during recording. In reality, the location
where the methanol accumulates is the lowest point and bottom of the reactor. The basket
contains the catalyst and the formation of the first droplets is shown. It is not clear if the
droplets originate from the basket or condense in the back of the view cell and come forward.
The first droplets evaporated till the saturated vapor pressure was reached in the entire view
cell. As from this moment, a liquid phase remains at the bottom of the view cell.

The liquid level continues to rise after a lasting liquid level was formed. In Movie 2 (Fig. 4.5B)
a considerable amount of liquid was formed. The basket was brought to a stop in the movie and
the liquid present at the outer wall of the basket reflected the light.

Movie 3, was recorded in the same configuration as shown in Figs. 4.3 and 4.4. The basket
was replaced by a stirrer and a catalytic chain. Droplet formation was not observed on the
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catalyst particles themselves, but started somewhere in the reactor at probably a slightly colder
spot.

Even after complete immersion of the catalyst particles in the liquid, the methanol synthesis
reaction was still ongoing as fresh syngas feed was bubbling through the liquid. The liquid phase
consists of mainly methanol and water, the exact composition being a function of conversion,
process conditions, and syngas composition.

Liquid droplet

Fig. 4.5 Screenshots of the movies to visualize methanol condensation during synthesis. Formation of the
first droplets, view is slightly tilted (A). A significant amount of liquid has been formed (B). Liquid
formation with catalyst directly attached to the propeller shaped stirrer (C).

Further experimental studies to support the visual observations in the view cell and to use in
situ condensation for achieving higher methanol conversions than at conventional conditions
were conducted in a packed bed reactor (see Table 4.1). These experiments will be dealt with in
detail in Chapter 5 and 6, but for clarity some results are also presented in this chapter.
Experiments with different flow rates were conducted for syngas 1 to ensure that equilibrium
was reached and that the reactions were not conducted in the kinetic regime. Methanation and
the formation of higher hydrocarbons were negligible. The CO+CO, conversion at 468 K was
99.5% for syngas 1, which is 7.7% higher than the equilibrium conversion at 7.5 MPa (a typical
pressure for conventional methanol synthesis). For syngas 2, the difference between methanol
synthesis at 20 and 7.5 MPa is more pronounced. The CO+CO, conversion at 484 K was 92.5%
which is 46.9% higher than the equilibrium conversion at 7.5 MPa. The model used to calculate
the equilibria is described in Chapter 5.

The experimental and predicted equilibrium conversions are shown in Fig. 4.6A and Table
4.2). At temperatures above 495 K for syngas 1 and 507 K for syngas 2 only a gas phase is
present, while at lower temperatures condensation occurs. Methanol production continues in
the two phase system until phase and chemical equilibrium are reached.
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Fig. 4.6 Equilibrium diagrams for methanol synthesis. Syngas 1 (A): H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1
vol%, P = 19.7 MPa (equilibrium calculation). Syngas 2 (B): H,/CO/CO,/CH, = 69.9/5.0/20.0/5.1 vol%, P =

20.3 MPa (equilibrium calculation). Gas phase equilibrium curve (a), dew point curve (b), equilibrium
curve including liquid formation (c), extrapolation of the gas phase equilibrium curve (d). Symbols:

experimental data; lines: model results.

Table 4.2 Experimental results of methanol synthesis in the packed bed reactor.

Conditions Composition exit streams Purity® | Conv. and C-bal.

T P GHSV | H, CO CO, CH, Org® H,O | MeOH | leoicoz Chz C-bal.

(K) (MPa)  (h7) (vol%) (g/h)  (g/h) | (mol%) (%) (%) (%)
1° 469 153 1.1-10° | 69.0 0.0 1.9 29.1 22.2 1.7 99.7 98.8 82.3 96
2° 470 153 2.2110° | 68.7 0.0 2.5 28.8 42.9 3.0 99.5 98.4 82.7 94
3° 468  20.7 1.7-10° | 59.5 0.1 0.9 39.5 35.0 3.3 99.5 99.5 88.5 93
4° 469 19.2 1.7-10° | 59.3 0.3 1.3 39.1 36.3 3.3 99.6 99.3 88.5 96
5° 480 20.8 1.6-10° | 61.5 0.1 2.1 36.3 33.6 3.0 99.3 98.9 87.2 94
6° 493 19.7 1.7-10° | 634 0.3 6.1 30.3 339 2.7 99.2 96.2 84.1 93
7° 520 19.6 1.7-10° | 65.8 1.5 11.6 21.1 31.9 1.9 98.6 88.6 76.2 95
8° 545 195 1.7-10° | 66.2 4.0 15.1 16.7 30.0 1.4 97.8 81.2 69.8 97
9 484  20.5 53-10° | 47.6 0.1 19.7 37.1 10.4 4.1 99.9 92.5 91.6 103
10° | 494 205 5.3-10° | 49.7 0.2 22.7 304 9.4 4.3 99.9 87.5 88.8 99
11° | 507  20.4 7.5-10° | 58.5 0.3 22.8 18.5 10.7 4.6 99.9 74.1 76.4 98
12° | 519  20.0 2.0-10° | 643 0.4 21.9 12.7 25.3 11.9 99.9 64.2 63.1 99
13° | 543 20.0 2.010° | 66.2 1.1 22.5 10.0 18.9 8.9 99.9 50.6 50.4 97

®Methanol purity of the organic fraction.

bExperiments were conducted with H,/CO/CO,/CH, = 68.0/24.0/3.0/5.0 vol%.
“Experiments were conducted with H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%.
dExperiments were conducted with H,/CO/CO,/CH, = 69.9/5.0/20.0/5.1 vol%.
“Total mass flow of organic components leaving the system.

The conversion of CO+CO, is nearly complete for syngas 1 at the lowest temperatures in the
range. The experimental conversions coincide nicely with the conversion predicted by the

model. The conversion of all components decreased with increasing temperature as dictated by
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thermodynamics. The effect of condensation was the most pronounced for syngas 2 (Fig. 4.6B).
Here, the experimental conversion is even 12.7% higher than the extrapolated gas phase
equilibrium curve (= 79.8% vs. 92.5% at 484 K).

As shown above, methanol synthesis with in situ condensation requires elevated pressures
and is a function of the gas composition. For syngas 1 a dew point is obtained at 473 K for
pressures over 12 MPa (based on thermodynamic calculations). Compression of syngas to such
elevated pressures is an energy intensive process that will negatively affect process economics.
A promising technique to avoid the compression step is the reforming of suitable feedstocks in
supercritical water [29, 30]. This technology produces high pressure syngas without gas
compression and can be operated energetically efficient [31]. The syngas composition is a
function of the process conditions and the use of a catalyst. In Table 4.3 some typical gas
compositions for glycerol reforming are given. More information on gas compositions obtained
in glycerol reforming can be found in Chapters 2, 3, and 7. The gas can subsequently be used to
produce methanol.

Table 4.3 Gas compositions obtained in glycerol reforming.

Catalyst T P [Glycerol] H, co Co, CH,
(K) (MPa) (wt%) (vol%) (vol%) (vol%) (vol%)
1 - 743 -923 2512 15-20 26-51 20-37 6-22 9-30
2 Pt/CeZrO, 623 -931 25+2 10 51-56 0-2 34-37 6-13
3 CuZn 833 -954 2512 10 42-60 12-14 24-26 3-19
4  Ni/Ca0-6Al,0,4 658 — 998 262 4-10 21-67 1 30-39 2-39

4.4 Conclusion

High pressure methanol synthesis with in situ formation of a liquid phase is visualized for the
first time in a view cell reactor supported by experiments in a packed bed reactor. The
experimental data obtained in the packed bed reactor were successfully supported by
thermodynamic modeling. These findings can have some positive consequences for methanol
synthesis. Higher conversions than predicted by gas phase thermodynamics are obtained and, at
appropriate conditions, almost complete conversion of the limiting component is achieved. As a
consequence, recycle streams and associated bleed/purge streams are not required, a broader
range of syngas composition may be applied and throughputs for a given reactor volume may
be increased, leading to higher methanol production levels. A possible additional advantage
compared to conventional low pressure operation is enhanced reaction rates due to higher
partial pressures of the reactants, though this needs further experimental confirmation.
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5 Modeling and experimental studies on phase and chemical
equilibria in high pressure methanol synthesis

This chapter is published in slightly different form as: J.G. van Bennekom, J.G.M. Winkelman, R.H.
Venderbosch, S.D.G.B. Nieland, H.J. Heeres, Modeling and experimental studies on phase and chemical
equilibria in high pressure methanol synthesis, Ind. Eng. Chem. Res., 51 (2012) 12233-12243.

Abstract

A solution method was developed to calculate the simultaneous phase and chemical equilibria
in high pressure methanol synthesis (P = 20 MPa, 468 < T < 548 K). Algorithms were developed
that explicitly consider the existence of a condensed phase and include dew point calculations.
A modification of the Soave-Redlich-Kwong equation of state was used to correct for nonideal
effects. Binary interaction coefficients were derived from literature data on high pressure binary
vapor-liquid equilibria. Predicted equilibrium conversions, with and without the formation of a
liquid phase, were successfully verified with new experimental results on high pressure
methanol synthesis obtained in a packed bed methanol synthesis reactor. Experimental data
coincide very well with model predictions for the equilibrium conversion and gas composition.
Remarkably, in some situations the model calculations appeared to predict condensation
followed by a disappearing liquid phase (retrograde-like behavior) with increasing extent of the
methanol synthesis reactions. Finally, at equilibrium only a vapor phase remained present.
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5.1 Introduction

Methanol is an important bulk chemical with an estimated global annual production of 38
million metric tons in 2007 [1]. Methanol is mostly produced from syngas, a gas consisting of
predominantly H, and CO usually obtained from natural gas. Three reactions are important in
the synthesis of methanol: the hydrogenation of CO (Eq. 1.1), the reverse water-gas shift (WGS)
reaction (Eg. 1.2), and the hydrogenation of CO; (Eq. 1.3):

CO+2H, —  CHsOH A, H2, =-90.64 kJ/mol (Eq. 1.1)
CO,+H, = CO+H,0 A HZ, = +41.17 kl/mol (Eq. 1.2)
CO,+3H, =  CHsOH+H,0 A H2, =-49.47 ki/mol (Eq. 1.3)

Both methanol synthesis reactions (Egs. 1.1 and 1.3) are exothermic and proceed with volume
contraction. All three reactions are reversible and their progress is thermodynamically limited.

In commercial methanol synthesis, roughly two processes (differing in process conditions)
can be distinguished. From the 1920s to the 1960s, methanol was synthesized at high pressures
and high temperatures (P > 15 MPa and T > 573 K). From the 1960s onward, more active
catalyst became available, allowing for lower operating pressures and temperatures (P < 10 MPa
and T < 573 K), and thus reduced gas compression duty, less formation of byproducts, and
cheaper equipment [2, 3]. Thermodynamically, the most favorable conditions for methanol
synthesis are high pressures and relatively low temperatures (P > 15 MPa and T < 523 K).
Methanol synthesis at these conditions is the focus of the Supermethanol project [4] and has
not been explored experimentally yet. At these conditions methanol can condense to form a
liquid phase in the reactor [5-7]. Condensation of methanol is described in detail in Chapter 4.
Formation of such a liquid phase has severe consequences not only for design of methanol
reactors but also for modeling of the equilibria in methanol synthesis, as restrictions due to
chemical equilibrium are, to a large extent, eliminated in the presence of a dew point [6].
Catalysts may deactivate faster with condensation, although no problems concerning
mechanical integrity and activity of the catalyst were observed during 5 months of operation
[6].

Equilibrium modeling in methanol synthesis has been conducted by several researchers.
Graaf et al. measured and modeled equilibria at conditions ranging from 1 to 8 MPa and from
473 to 543 K [8]. Equilibrium data could be described most accurately using the Soave-Redlich-
Kwong (SRK) equation of state (EOS). Danes and Geana modeled the equilibria in high pressure
methanol synthesis for stoichiometric syngases at 10 — 41 MPa and 523 — 673 K [9]. The most
accurate description of the experimental data was obtained using a modified Himpan EOS.
Skrzypek et al. conducted equilibrium calculations for a large range of pressures (5 — 30 MPa)
and temperatures (425 — 675 K), but in spite of the high pressure in combination with low
temperatures (425 — 500 K) condensation was not considered [10]. Chang et al. found that their
equilibrium model based on the SRK EOS or Peng-Robinson EOS did not converge at 473 K and
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30.0 MPa, most probably due to condensation [5]. This result attracted attention, and methanol
synthesis at these conditions with a syngas composition of H,/CO/CO,/CH,; = 74/15/8/3 vol%
became one of the reference cases in several publications on modeling simultaneous phase and
chemical equilibria purely on a theoretical basis. No experimental data were used or available.

Castier et al. developed an equilibrium model with a stoichiometric formulation based on
minimization of the Gibbs free energy followed by checking the phase stability with the tangent
plane criterion [11]. A similar approach for checking the phase stability was used by Stateva and
Wakeham with a newly developed algorithm for solution of chemical equilibria in any number
of prescribed phases [12]. Gupta et al. derived a set of coupled nonlinear equations that
describe the stability and multiphase behavior of both nonreacting and reacting systems [13].
Jalali and Seader adopted a nonlinear optimization method using homotopy continuation to
locate all minima in the Gibbs free energy function to ascertain a global stable solution [14]. In
the method by Avami and Saboohi, the extended t-method was used for phase identification
and phase and chemical equilibrium calculations [15]. Except for Gupta et al. [13], all authors
employ the SRK EOS for the methanol synthesis case. None of these models is validated with
experimental data at relevant process conditions. Although the models do take into account
formation of a liquid phase, calculation of the dew point as a function of the extent of the
reactions is not considered. For reactor and catalyst design it is important to know when and
where condensation starts. When methanol synthesis is conducted with in situ condensation,
operating conditions may be selected based on the difference between the conversion at phase
and chemical equilibrium and the conversion at which condensation starts. The larger the
difference the higher the overall driving force in methanol synthesis. The actual reaction rates
result from a tradeoff between two opposing effects: (i) the rate constants increase with
increasing temperature, while (ii) the driving forces at the dew point decrease with increasing
temperature.

In this chapter a solution model is reported based on a modified SRK EQS, suited for polar
mixtures, which enables calculation of the simultaneous phase and chemical equilibria that
occur during high pressure methanol synthesis. The model includes, in contrast to the models
known from the literature, the calculation of the dew point as a function of temperature and
conversion occurring in methanol synthesis. The binary interaction coefficients of the EOS were
fitted to literature data on binary systems at relevant temperatures for methanol synthesis.
Notably, validation of the model was obtained from new experimental results on high pressure
methanol synthesis (P = 20 MPa, 468 < T < 548 K) from two syngas mixtures, one with H, as the
limiting component and the other with CO+CO, as the limiting components.

5.2 Thermodynamic framework

5.2.1 Equation of state
A modification of the SRK EOS was used in this work. The SRK EOS was originally developed for
hydrocarbon systems [16]. Mathias showed that vapor-liquid equilibria (VLE) in a polar system
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containing water and methanol, an important binary mixture in methanol synthesis, can be
accurately described using his modification [17]. For pure substances the original SRK EOS reads

p_ RT __a() (Eq. 5.1)
V—-b V( +b)

Or written in a different way
Z°-7Z*+(A-B-B*)Z-AB=0 (Eq. 5.2)

where A and B are auxiliary variables. All variables are defined in Section 5.8. Values for a and b
(see Eq. 5.1) are calculated using critical temperatures, critical pressures, and acentric factors
(see Table A.1 in Appendix A). When mixtures are involved, a and b become composition
dependent; furthermore a is temperature dependent. For each component of the mixture q;
and b; read

a(T) =2, (T) (Ea.5.3)

RT..
' (Eq. 5.4)

C,i

b, =0.08664

a; (Eq. 5.3) is composed of a critical parameter, a. ;,

272
a,; =0.42747 5 c (Eq. 5.5)

c,i

and a temperature dependent parameter, «;.
a?® =1+m, (1= [T )~ pA-T, )07 Ty ) (Eq. 5.6)

In comparison with the SRK EOS, an additional parameter, p;, is added to «a; to correct for the
presence of polar components. The polarity correction parameter, p;, is empirical and improves
prediction of the vapor pressure of polar substances of the original SRK EQS [17]. The parameter
m; was obtained by fitting the a; equation to a detailed set of pure hydrocarbon vapor pressure
data [18].

m, =0.48508+1.55191, —0.15613 (Eq. 5.7)
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Mathias adapted Eq. 5.3 for components at supercritical temperatures [17]. However, this «; is
not considered here because it proved to be less accurate in the description of binary VLE.

The SRK EOS of pure fluids is extended to mixtures according to the concept of a one-fluid
mixture. Then, Eq. 5.1 retains its original form and the mixture parameters are calculated using
simple mixing rules with a quadratic dependence on the mole fractions.

a=> > viya (Eq. 5.8)

i=L j=1

Binary interaction parameters (k;;, see Eq. 5.9) are empirical parameters and take into account

ijr
the difference in the interaction of unlike molecules. They are used to obtain the most accurate
fit of the EOS to experimental VLE.

a, =4/aiaj (1-k;) (Eq. 5.9)

For b the original mixing rules from Soave are used without binary interaction parameters [16].
n

b=>ybh (Eq. 5.10)
i=1

Then the fugacity coefficient can be obtained from [19]

In¢,:i P _RT dV —InZ (Eg.5.11)
RTyl\om )., \Y

j#

resulting in the following equation for the fugacity of the vapor phase [20]:

R

In ¢’ :%(z —1)-|n(Z-B)-E JT_E In(l+—j (Eq. 5.12)

5.2.2 Vapor-liquid equilibria (dew point calculations)

For a vapor-liquid multicomponent mixture at equilibrium the fugacities for components in the
liguid and vapor phase are equal. The fugacity of component i in the vapor phase is related to
the pressure via the fugacity coefficient
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.I:V
v [
N Eqg. 5.13
¢ P (Eq )
and is calculated using the modified SRK EOS. At the high pressure applied here, an activity
coefficient approach to calculate the fugacity of the components in the liquid phase is
inappropriate [21]; therefore, an EOS approach is used to calculate the fugacity of the liquid
phase as well:

f.L

L —_—
¢ xP (Eq. 5.14)

A dew point is reached in a system when, for each component, the following conditions are
fulfilled:

v =xa" (Eg. 5.15)

5.2.3 Combined phase and chemical equilibria calculations

Starting with a given syngas composition, calculation of the equilibrium composition, including
condensation, requires the simultaneous solution of a set of equations that describe the
chemical and phase equilibria. The equilibrium constants for reactions 1, 2, and 3 (Eqgs. 1.1-1.3)
are based on fugacities and given by Graaf et al. [8]:

feron Per.om Peon
K., =| —/—| = 2 . 2 =K,  -K Eqg. 5.16
{ foofl | [dof, | PPl | oo
K, = feo fHZO = ¢CO¢HZO : o PHZO = K¢,2 ‘K, (Eg. 5.17)
fco2 sz eq ¢co2 ¢H2 eq Pco2 PH2 e
Kf,3 = Kf,l : Kf,z = K¢,1 ) KP,l : K¢,2 : KP,2 (Eg. 5.18)

Thermodynamically, two reactions are sufficient to calculate the equilibrium composition. If the
reactions given in Eg. 1.1 and Eqg. 1.2 are at equilibrium, then the reaction given in Eq. 1.3 is
automatically at equilibrium (see Eq. 5.18). Ky is equal to Kpop. By definition, Kpo, is a
function of the temperature only, and its value is determined from thermodynamic data. Graaf
et al. determined smoothed relations for the equilibrium constants for the temperature range
of 473 =573 K [8]:

@712.629

K., =1O(T

P°1

(Eg. 5.19)
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—2073 +2. 029]
=

K. :10(

b0 2 (Eq. 5.20)
Methanol synthesis including liquid formation thus comprises 3 reactions (Eqgs. 1.1-1.3) and 6
phase equilibrium equations, involving CO, CO,, H,, CH4, methanol, and water. CH, is considered
as inert. In one of the gases used for experimental validation (see Section 5.5), C;Hg is present
which is also considered as inert. In the equilibrium calculation for this gas mixture the CH,4
concentration includes both CH; and C,He. The distribution of the components over the vapor
and liquid phase is calculated with the element and inert balances. The element balances for
carbon, hydrogen, and oxygen are, respectively:

5
ZFV Jin Z ZFCL,i (Eq 521)
i=1

i=1

ZS:FX,}"] :ZS:F:J +iFI-I|_,i (Eq. 5.22)

i1 i1 i1

ZFV " iFg,i +i Foi (Eq. 5.23)
i1 i=L

The inert balance for CHy is:
Fan = Fen, +Fon, (Eq. 5.24)

To calculate the equilibria, a set of equations including the two chemical equilibrium equations
(Egs. 5.16 and 5.17), 6 phase equilibrium concentrations (Eg. 5.15), 3 element balances (Eqgs.
5.21-5.23), and an inert balance (Eq. 5.24) is solved simultaneously.
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5.3 Determination of k;; and validation of the modified SRK EOS

Binary interaction parameters (k;;, see Eq. 5.9) are empirical parameters and take into account
the difference in the interaction of unlike molecules. Their importance lies in their ability to
make a particular EOS predict the correct phase behaviour [19]. Binary interaction parameters
are temperature dependent and cannot be found in the literature for the binary pairs involved
in methanol synthesis at temperatures around 473 K. Therefore the binary interaction
parameters were fitted to literature data measured at relevant temperatures for methanol
synthesis.

The liquid phase in methanol synthesis is primarily a binary mixture of water and methanol
(vide infra). Furthermore, the vapor phase at equilibrium contains a significant amount of
methanol at 20 MPa. To have an accurate description of the methanol synthesis system a good
description of the water-methanol VLE is required. The binary interaction coefficient was fitted
to literature data obtained at 473 and 523 K [22]. The fit is shown in Fig. 5.1 using k;; = -0.075.
Although only ‘simple’ mixing rules are applied an accurate fit is obtained.

10
e Experimental data points bubble point curve
| o Experimental data points dew point curve
8
523 K
T 87
o
=3
o
4 .
473K
24
T T T T T
0.0 0.2 0.4 0.6 0.8 1.0

Mole fraction methanol (-)

Fig. 5.1 VLE of water and methanol. Symbols: experimental data [22]; lines: model predictions using
kij =-0.075.

Binary interaction coefficient for VLE of methanol and H,, CO, CO,, and CH,4 respectively were
fitted to VLE data from Brunner et al. [23]. The experimental data points for each binary mixture
were selected at temperatures the closest to methanol synthesis conditions, see Fig. 5.2 and
Table A.2 in Appendix A for the binary interaction coefficients found. Also here, the behavior of
the VLE is described qualitatively correct, but the discrepancies between the experimental data
and the model predictions are somewhat larger than for the water-methanol system. The H,,
CO, and CH,4 dew point curves are accurately predicted, while the predictions of the bubble
point curves are less accurate. For CO, the number of data points is limited. The qualitative
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description of the system is good, but both the prediction of the dew point curve and the
bubble point curve differ from the experimental values.
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o Experimental data points dew point curve
404 o
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o L ]
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Mole fraction methanol (-) Mole fraction methanol (-)

Fig. 5.2 VLE diagrams of methanol-H, at 373 K (A, k;; = -0.125), methanol-CO at 473 K (B, k;; = -0.37),
methanol-CO, at 473 K (C, k;; = 0.10), methanol-CH, at 373 K (D, k;; = 0.046). Symbols: experimental
data [23]; lines: model predictions.

In Fig. 5.3 the solubility of H,, CO, and CH, in water and the VLE of the CO,-water binary mixture
are given. The predictions of the solubility data and the VLE of the water-CO, binary mixture are
very accurate. The solubility predictions for CO differ slightly from the experimental values, but
the number of data points is limited. As for methanol binary systems (Fig. 5.1 and 5.2) the
binary interaction parameters were derived from these data (Fig. 5.3). The binary interaction
parameters for the other binary pairs are taken from the Aspen Hysys database for the SRK EOS
and can be found in Table A.2 in Appendix A.
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Fig. 5.3 Solubility of H, in water at 423 K (A, k;; = -0.745) [24], solubility of CO in water at 448 K (B, k;; =
-0.474) [25], solubility of CH,4 in water at 444 K (C, kl-j =0.014) [26], VLE diagram of water-CO, at 473 K
(D, kl-j =0.30) [27]. Symbols: experimental data; lines: model predictions.

5.4 Model structure and calculation procedure

Several models in the literature use integration of a set of differential equations, including
kinetic equations if reactions are considered, to calculate steady-state solutions or equilibria
[28-30]. Such methods have good stability and convergence characteristics, as a realistic
approach toward the chemical equilibrium is followed. In the case of equilibrium calculations
with a reactor in a packed bed configuration, the amount of catalyst is taken as infinite to
ensure that equilibrium is reached.

Here, model calculations were performed for an isothermal packed bed reactor at constant
pressure. The model requires the following input: syngas composition, pressure, temperature,
critical temperatures, critical pressures, and acentric factors. The values for the latter three
properties were taken from the literature [21] and are shown in Table A.1 in Appendix A. As we
are interested in the vapor composition and conversion at the dew point, dynamic vapor
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compositions were used that occur during methanol synthesis. Kinetic equations used to obtain
the dynamic vapor compositions were taken from the literature for the MK-101 methanol
synthesis catalyst [31]. Calculation of the dew point as a function of vapor compositions
occurring in methanol synthesis cannot be done with conventional models [11-15], as the
dynamic compositions can only be obtained using kinetic equations, which are not present in
the literature models. When exclusively the phase and chemical equilibrium are of interest, only
the set of equations described in Section 5.2.3 can be solved. The complexity of the model can
be further reduced using simplified kinetic equations for methanol synthesis reactions.

Two different algorithms, A and B, were developed. Algorithm A is the simplest model and
can be used in most situations. In some cases, algorithm A does not result in a physically
realistic solution (negative liquid phase). This phenomenon occurs when a dew point is present
and a liquid is formed, but this liquid disappears at further increase of the conversion. In this
situation, no solution exists for the phase equilibrium equations (Eq. 5.15) and algorithm B is
required.

5.4.1 Algorithm A: Single integration followed by solving a set of equations

The macroscopic behavior of the isothermal packed bed at fixed pressure can be described with
a simple continuity differential equation (Eg. 5.25) until the dew point is reached, which is
visualized in Fig. 5.4.

EY L
d‘i'Nt =1 (i=C0,C0,,CH,0H, H,,H,0,CH,) (Eq. 5.25)
cat
Feed gas in
Dew €
paint € 7€ Weight
o™ catalyst

Vapor and liquid out

Fig. 5.4 Simplified representation of liquid formation in a packed bed reactor.
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The structure of the algorithm is shown in the block diagram in Fig. 5.5. After initialization of the
input parameters, the local vapor composition of the system is calculated as a function of the
accumulative weight of the catalyst. After each subsequent integration step (Euler method), the
difference between the actual methanol fugacity (f,,‘fethanol’n) and the methanol fugacity after
the previous integration step (f%ethanol’n_l) divided by the standard pressure is calculated. If
this value is smaller than 10™°, the vapor mixture is considered to be at chemical equilibrium.
Then the actual concentration and conversion are given as output. If the difference is larger
than 10™° the dew point temperature and composition of the liquid phase are calculated.

(" Set input parameters: )

* Process conditions
* Dimensions

U Gas composition Y,

!

(" Perform integration )
> step of continuity
\_ Eq 5.25 Y,

Chemical
equilibrium
reached

V _ gV
in in—1

50 < 10710

Calcualate dew point
temperature
(Tdew point )

Treactor > Tdew

[ Dew point is reached ]

Solve equilibrium model Egs.
5.15-5.17 and Egs. 5.21-5.24
simultaneously

v ‘

[ Chemical and phase

equilibria reached End

Fig. 5.5 Block diagram for algorithm A of the equilibrium model for an isothermal packed bed reactor
(routine: single integration followed by solving a set of equations).
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At low conversions, the dew point temperature is much lower than the reactor temperature.
When the methanol concentration increases the dew point temperature of the mixture
increases. As long as the reactor temperature is higher than the dew point temperature the
integration procedure is repeated, until either the chemical equilibrium is reached or the dew
point temperature becomes equal to the reactor temperature (see Fig. 5.6). Then the
conversion and composition at the dew point are provided as output. The pressure and
composition of the vapor phase are used as input for the dew point calculations, resulting in the
composition of the liquid phase at the dew point.

100
L . o e ;:-;";;.. | 473
5 T
E ,.-,..f--" . _ 423
? 60 | _',../
£ P |
| , 373 =
Q ) |
& 40+ |
o .
wn -;
I S
;‘ _ Dew point
C"C0+C02
e Dew pOint
0 -

Weight catalyst (kg)

Fig. 5.6 {0:co2 accompanied by the dew point temperature of the system as a function of the weight of
catalyst. P =20.0 MPa, T =473 K, syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%.

In general, when a dew point occurs chemical equilibrium has not been reached yet. Then, the
vapor phase reaction continues and more liquid condenses. Finally, in a reactor with an infinite
amount of catalyst, phase and chemical equilibria are reached. The simultaneous phase and
chemical equilibria are calculated by solving the set of 12 equations as described in Section
5.2.3. The concentration and conversion of the reactants are output of the model.

5.4.2 Algorithm B: Double integration

The first part of algorithm B is equal to algorithm A. The system is integrated until the dew point
is reached. From here on, algorithm B is different (see the block diagram in Fig. 5.7). Integration
of the system (also with the Euler method) is continued but now taking into account the
continuity equations for the vapor phase (Eq. 5.26) and the continuity equation for the liquid
phase (Eg. 5.27).
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Fig. 5.7 Block diagram for algorithm B of the equilibrium model for an isothermal packed bed reactor
(routine: double integration).

Eq. 5.26 and Eq. 5.27 are integrated in such a way that there is phase equilibrium of the system
after every integration step. This is done by first calculating the reaction rate in an integration
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step and then calculating the condensation rate resulting in a composition of the vapor and
liguid phase that satisfies the conditions given in Eq. 5.15 for each component.

After each integration step in the second integration routine the change in methanol fugacity
of the vapor phase is calculated. As long as the change in fugacity divided by the standard
pressure is larger than 10" and a liquid phase exists (FL-L > 0) the integration is repeated. After
several integration steps either the simultaneous phase and chemical equilibria are reached or
the liquid phase disappears (FiL = 0). When the chemical and phase equilibria are reached the
equilibrium data is given as output. When the liquid phase disappears the vapor composition
and conversion at the point of liquid disappearance are given as output and the first integration
procedure is repeated until chemical equilibrium of the vapor phase only is reached.

Algorithm B can be used for all cases in which algorithm A is used. Calculation time in
algorithm B, however, is longer, because a second integration routine is required. Algorithm A is
the algorithm generally preferred except for the cases in which a physically unrealistic liquid
phase composition is calculated. The algorithms considered in this work were solved using
Matlab. Data relevant for this work can be found in Appendix A.

5.5 Experimental validation

5.5.1 Materials

Premixed syngases were supplied by Westfalen-AG, Germany. The composition of the syngases
is given in Table 5.1. The methanol synthesis catalyst was a commercial methanol synthesis
catalyst (Cs doped Cu/ZnO/Al,03).

Table 5.1 Composition of the syngas used for the experimental validation of the model.

H, co Co, CH, C,He

(vol%) (vol%) (vol%) (vol%) (vol%)
Syngas 1 67.0 24.4 3.5 5.1 -
Syngas 2 54.2 28.9 10.9 4.0 2.0

5.5.2 Setup description

In Fig. 5.8 a schematic flow sheet of the setup is given. The gas bottle containing syngas was
connected to a booster (Maximator) to pressurize the syngas to the desired pressure. Syngas
was fed from the booster to the setup via a Brooks mass flow controller (MFC). The gas was
preheated in a preheater (P1) consisting of a tube with a heating jacket. Heating oil was flown
through the annular zone and syngas passed through the tube. The same principle was applied
for the two methanol synthesis packed bed reactors (R1 and R2) in series, which were located
directly after the preheater.
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Fig. 5.8 Schematic flow sheet of the methanol synthesis setup.

The inner diameter of the reactor tube was 10 mm, and the length of each reactor was 500 mm.
In these reactors the heating oil acted in the beginning of the first reactor bed as heating
medium and further down as coolant. The first reactor bed contained a thermowell which
recorded the temperature at 5, 10, 20, and 30 cm from the top of the catalyst bed. Methanol
synthesis took place when the gas entered the packed bed. Due to the exothermicity of the
reaction the temperature in the packed bed increased in the first part of the first reactor; then
the temperature went down, approaching the temperature of the oil. Subsequently, the vapor
entered the second reactor, which ensured that the equilibrium was reached. The temperature
of the second reactor was measured with a thermowell at four locations (11, 7, 4, and 0.1 cm
from the end of the reactor, R2) in the center of the catalyst bed. The temperature of the last
four thermocouples was constant within 1 K and slightly below the temperature of the heating
oil, due to small heat losses to the surroundings. The temperature of the last thermocouple was
used as the temperature at which equilibrium was calculated. The two packed bed reactors
were filled with 50 and 51 g of catalyst, respectively. The catalyst pellets were crushed, and
particle sizes between 1 and 2 mm were used. At 468 K and 15 MPa, experiments with two
different space velocities (1.1 - 10® and 2.2 - 10° m? syngas/m3 cat./h) were used to ascertain
that equilibrium was reached.

After the reactor, the mixture of organics, water, and vapor was cooled in a cooler (C1) by
tap water before the mixture was depressurized to 1 MPa through a back-pressure valve. In a
second cooler (C2), which was operated at 253 K, the remaining condensables were condensed.
After depressurization to atmospheric pressure via a pressure reducer the liquid was collected
in @ measuring cylinder (V1), which could be tapped. The dry gas was quantified by a gas meter
(Gallus G1.6) and analyzed by a gas chromatograph (GC). Experiments were conducted at
pressures around 20 MPa and temperatures of the heating jacket of 473, 498, 523, and 548 K.
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All parts of the system that were heated or cooled were well insulated with glass wool. The
process pressure was determined by taking the average pressure of the two pressure meters.

5.5.3 Analyses

Dry gas composition was analyzed using an online dual-column GC (GC 955, Syntech Spectras)
equipped with thermal conductivity detectors. CO was analyzed over a molecular sieves 5 A
column (L = 1.6 m) with helium as the carrier gas. CO,, CH; and C,, were analyzed on a
Chromosorb 102 column (L = 1.6 m) with helium as the carrier gas. H, was analyzed on the
molecular sieves column using argon as the carrier gas.

5.6 Results and discussion

The case of methanol synthesis from H,/CO/CO,/CH4 = 74/15/8/3 vol% at 473 K and 30.0 MPa
has been used as a modeling example in several publications, though experimental validation is
lacking [11-15]. The results from the literature and the results from the present study are shown
in Table 5.2.

Table 5.2 Composition of the vapor and liquid equilibria in methanol synthesis predicted by several
authors. P =30 MPa, T = 473 K, syngas: H,/CO/CO,/CH, = 74/15/8/3 vol%.

Feed [11] [13] [12] [14] [15] This work
Vapor phase
co’ 15 6-10°  0.01 1.3-10°  6.2:10° Traces  8.6-10°
co,’ 8 0.05 0.04 Traces 0.05 Traces 0.06
Methanol® 0 20.53 20.40 21.20 20.42 16.55 20.23
H,’ 74 65.89 66.93 64.93 66.02 70.91 65.51
Water® 0 4.73 3.74 4.64 4.71 3.53 5.06
CH, 3 8.75 9.15 9.23 8.79 9.02 9.13
Phase fraction - 0.5112 0.5258 0.4968 0.4863 0.4825  0.4848
Liquid phase
co® - Traces Traces Traces Traces Traces 1.8-10°
Co," - 0.02 0.01 Traces 0.02 Traces 0.02
Methanol® - 63.54 67.09 63.71 63.43 66.87 63.43
H,” - 9.62 4.20 9.48 9.76 5.47 10.49
Water® - 24.36 27.32 24.88 24.29 25.33 23.87
CH, - 2.46 1.56 1.93 2.48 2.33 2.19
Phase fraction - 0.4888 0.4742  0.5032 0.5137 0.5175 0.5152

®All concentrations are expressed in vol%.

Although all models have a (slightly) different approach to calculate the equilibrium
composition, the differences are rather small and probably caused by the use of different
thermodynamic data, binary interaction coefficients, and in one case the use of a different EOS.
The equilibrium compositions predicted with the model developed in this study are well within
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the variations of the compositions predicted by the models from literature, validating our
approach (i.e., the algorithms in combination with the selected EQS).

5.6.1 Modeling of high pressure methanol synthesis

In the following section the model predictions and experimental results for two representative
syngases will be discussed (see Table 5.1 for their composition). Syngas 1 is similar to a gas used
in commercial methanol synthesis, while syngas 2 is similar to gas that can be obtained in a
biomass-reforming process [32].

Syngas 1

Experimental and calculated results for syngas 1 are shown in Fig. 5.9. The equilibrium
conversion of CO+CO, (Fig. 5.9A) and the equilibrium conversion of H, (Fig. 5.9B) are shown as a
function of the temperature at 19.7 MPa. The diagram consists essentially of three parts.

1. Vapor (or gas) phase equilibrium curve: At high temperatures, in Fig. 5.9 from 498 K
onward, only a vapor phase exists. Conversion of CO+CO, or H; is a function of
temperature and can be predicted on the basis of the chemical equilibrium of the vapor
phase.

2. Dew point curve: At temperatures below 498 K, a dew point is present. The dew point
curve represents the combination of temperature and conversion at which condensation
starts. Methanol synthesis and condensation continue beyond the dew point.

3. Curve for the equilibrium including liquid formation: When a dew point is present,
chemical and phase equilibrium coexist. Equilibrium conversion including liquid
formation (dotted line) is higher than the extrapolation of the vapor phase equilibrium
curve (not shown in the figure).
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Fig. 5.9 Equilibrium diagram for methanol synthesis including a dew point curve for {co.c02 (A) and &y,
(B). P=19.7 MPa, syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%. Symbols: experimental data; lines:
model results.
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The model predictions are in very good agreement with experimental data (relative error in the
data is estimated to be 1%) for the whole temperature range. Both model and experimental
data follow the same trend. In this system a single combination of temperature and conversion
exists where the vapor composition at the dew point is equal to the chemical equilibrium
composition. In this point the three lines in the diagram come together. This point is from here
on referred to as the ‘max dew point’.

The max dew point temperature is a function of the pressure and is calculated for the
pressure range of 11 — 30 MPa. The results are shown in Fig. 5.10. At the lower pressures the
max dew point temperature increases with increasing pressure, reaching a maximum at 23.5
MPa. In this pressure range, the temperature at which the composition of the vapor phase at
the dew point becomes equal to the chemical equilibrium composition shifts to higher
temperatures, implying that the temperature range in which a liquid phase can be obtained in
methanol synthesis becomes larger. Interestingly, at pressures above 23.5 MPa the max dew
point temperature becomes lower again. A possible explanation is that the critical temperature
of the mixture decreases with increasing pressure. For this syngas composition, no liquid phase
exists at any pressure at temperatures above 501 K.

503

493 i

483 4

473 - . - . - . -
15 20 25 30

P (MPa)

Fig. 5.10 Pressure of the max dew point vs. temperature. Syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1
vol%.

The equilibrium gas composition (excluding water and methanol) as a function of temperature is
shown in Fig. 5.11. In this calculation it is assumed that all dissolved permanent gases are
released during depressurization. Thus, at the end of the process the liquid phase consists of
methanol and water only.

The concentration of inert gas (viz. CH4 in the present model) is the highest at the lowest
temperature and decreases with increasing temperature. The equilibrium concentrations of H,,
CO, and CO, increase with temperature. A discontinuity can be seen at the max dew point
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temperature (498 K). Experimental data nicely coincide with the model calculations and follow
similar trends. Predictions seem to be rather accurate, although experiments were conducted at
harsh conditions with relatively large deviations from ideal behavior. At the two higher
temperatures the concentrations of CO and CO, differ slightly from the predicted values.
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Fig. 5.11 Equilibrium concentration of the permanent gases after methanol synthesis. P = 19.7 MPa,
syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%. Symbols: experimental data; lines: model results.

The modeling results for the vapor fraction of the system at equilibrium together with the vapor
phase composition are shown in Fig. 5.12. At 468 K approximately 33% of the total amount of
moles present is in the vapor phase, while the remainder is in the liquid phase. At temperatures
exceeding the max dew point temperature only a vapor phase exists.

The composition of the vapor phase shows different trends at temperatures below and
above the temperature of the max dew point. At temperatures above the max dew point the
vapor concentrations show a regular trend, but below the max dew point methanol, water, and
H, show inverse behavior. The concentrations of methanol and water increase with increasing
temperature until the max dew point. The concentration of CO, increases over the complete
temperature interval. It should be realized that it is difficult to explain the trends for the
individual components in detail, as the exact composition of the system depends on the
temperature, equilibrium conversion, and interaction between the different components.
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Fig. 5.12 Vapor phase concentrations and the vapor fraction at equilibrium as a function of temperature.
P =19.7 MPa, syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%. Solid line: vapor phase fraction; dotted
lines: concentration of the vapor component.

If a liquid phase is present part of the gases will dissolve. The composition of the liquid phase as
a function of temperature is presented in Fig. 5.13. At 468 K approximately 67% of the total
amount of moles is in the liquid phase. The number of moles in the liquid phase decreases at
higher temperatures, and above 498 K no liquid phase is predicted anymore. The concentration
of methanol is relatively constant over the temperature interval and slightly below 80%. The
remaining 20% is water and dissolved components. Experimental data to justify these modeling
results and the data presented in Fig. 5.13 are not available.
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Fig. 5.13 Liquid phase concentrations and liquid fraction as a function of temperature. P = 19.7 MPa,
syngas: H,/CO/CO,/CH, = 67.0/24.4/3.5/5.1 vol%. Solid line: liquid phase fraction; dotted lines:
concentration of the liquid component.
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Syngas 2

Similar calculations and experiments as for syngas 1 were conducted using syngas 2. The results
are shown in Fig. 5.14. The equilibrium predictions of the model coincide very well with the
experimental data for the two lower temperatures, but the experimental data points differ from
the predictions at the two higher temperatures. This is probably due to formation of higher
alcohols, which is common for a system at higher temperatures with high CO partial pressures
[33, 34] but not included in our model.

Remarkable phenomena are calculated for certain combinations of vapor composition and
process conditions. For this system, three different types of behavior can be distinguished. Fig.
5.14 shows that at higher temperatures (T > 475.4 K) only a vapor phase exists and at the lower
temperature (T < 469.5 K) a vapor phase and a liquid phase coexist at equilibrium. However, at
temperatures between 469.5 and 475.4 K a dew point is calculated, initially followed by
condensation but then devolving to evaporation until at a certain conversion the liquid phase
has disappeared. Apparently, the liquid phase present vanishes, due to a changing vapor and
liguid composition.

This phenomenon resembles retrograde condensation, although it occurs as a function of
increasing reaction extent and not at equilibrium. In natural gas systems, condensation is
regularly observed upon pressure reduction at constant temperature [35]. As retrograde
condensation is reversible, increasing the pressure of such a system will result in the
disappearance of the liquid phase. For syngas 2, liquid disappearance is not observed with
increasing pressure but with increasing methanol content of the mixture (increasing reaction
extent). This behavior cannot be predicted using algorithm A as after the dew point a
simultaneous chemical and phase equilibrium is calculated which does not exist in this situation.

Equilibrium including A ) - quilib{ium i_ncluding B
70 liquid formation 100 liquid formation
L \ ’
VL VL
60 - 90 - g
o
é Dew point curve =
o . > .
5 . Gas phase ~ :
[&] . - . - H
é 50 equilibrium curve U% 80 Dew point curve Gas phase
wr v iy equilibrium curve
40 | 70 - v
30 T T T T T T T T 60 T T T T T T T ¥
473 493 513 533 553 473 493 513 533 553
T (K) T (K)

Fig. 5.14 Equilibrium diagram for methanol synthesis including the dew point curve for {co.c02 (A) and &y,
(B). Symbols: experimental data; lines: model results. P = 19.4 MPa. Syngas: H,/CO/CO,/CH,/C,Hg =
54.2/28.9/10.9/4.0/2.0 vol%.
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The approach toward the chemical/phase equilibrium or the combination of both for three
different types of behavior in this system is illustrated in Figs. 5.15 and 5.16. These figures show
the molar flows in the vapor and liquid phase as a function of the weight of the catalyst in the
isothermal packed bed reactor. The total molar flow in the vapor phase decreases, because
methanol synthesis is accompanied by molar contraction. When the situation in Fig. 5.15A (463
K) is considered, a dew point is reached at a certain conversion. A liquid phase starts to appear,
and initially the molar flow in the vapor phase decreases faster before leveling off when
equilibrium is approached. Finally, a stable chemical and phase equilibrium is reached. At 483 K
(Fig. 5.15B) only a vapor phase is present and no liquid phase is formed.
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Fig. 5.15 Molar flow vs. weight of catalyst, illustrating the approach toward chemical/phase equilibrium,
as obtained from algorithm B. P = 19.4 MPa, T = 463 K (A), 483 K (B), Fi, = 100 mol/s with composition
H,/C0O/CO,/CH,/C,Hs = 54.2/28.9/10.9/4.0/2.0 vol%.

The situation is different at 473 K (Fig. 5.16). The dew point is reached when the temperature of
the packed bed reactor becomes equal to the dew point temperature and a liquid phase starts
to appear. As the reaction proceeds the liquid phase starts to vanish until a point of complete
liquid disappearance is reached. It can be seen that from this point on the dew point
temperature of the mixture is below the temperature of the system, indicating that no liquid
phase is predicted at these conditions. Finally, at equilibrium only a vapor phase exists, which is
the reason why algorithm A does not have a realistic solution.
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Fig. 5.16 Molar flow vs. weight of catalyst, illustrating the approach towards chemical/phase equilibrium,
as obtained from algorithm B. P =19.4 MPa, T = 473 K, F;, = 100 mol with composition
Hz/CO/COz/CH4/C2H5 = 542/289/109/40/20 vol%.

5.7 Conclusion

Phase equilibria and chemical equilibria for high pressure methanol synthesis are calculated
simultaneously using a modified Soave-Redlich-Kwong equation of state. The model developed
is solved in two stages. In the first stage a dew point, if present, is calculated by integration of
kinetic equations for an isothermal system, which is a unique feature of the model in
comparison to the models known in the literature. The second stage of the model can be solved
in two different ways. Either a set of equations is solved to calculate the simultaneous phase
and chemical equilibria (algorithm A) or the integration procedure of the packed bed reactor is
continued for a combination of a vapor phase and a liquid phase (algorithm B). The binary
vapor-liquid equilibrium of methanol and water can be predicted accurately with the equation
of state used by fitting binary interaction coefficients to literature data. Both the phase and the
chemical equilibria in methanol synthesis are presented is a single diagram in which clearly a
vapor-liquid area can be distinguished. The shape of the diagram appears to be a strong
function of the composition of the syngas. In contrast to models from the literature dealing with
high pressure methanol synthesis the model predictions in this study are experimentally
verified. The thermodynamic equilibria, including both phase and chemical equilibria, coincide
nicely with the experimental data obtained here on high pressure methanol synthesis.

Condensation of methanol has beneficial consequences for methanol synthesis as
conversions higher than the chemical equilibrium are obtained. The conversion of the limiting
component is almost complete at low temperatures, which omits the necessity of a recycle
stream. High pressure methanol synthesis thus has potential, in particular in combination with
reforming in supercritical water (Supermethanol project) in which a syngas at high pressure is
produced by pressurizing a liquid.
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5.8 Nomenclature

a Attractive parameter of EOS Tr Reduced temperature (T /T,)
= R‘;—I;z Reduced attractive parameter of x Mole fraction in the liquid phase
the EOS y Mole fracti?n in the vapor phase
b Repulsive parameter of the EOS 4 Volume (m ')
p=2 Reduced repulsive parameter of wi Catalyst w.el'g'ht (ke)
RT Z Compressibility
the EOS
AZHZ% IIjeacti'im T)nthalpy at 298 K (J-mol™) Greek symbols
/;fe LESZIC:T:;I(afiIow (mol-s'l) a Adimensional factor for a
i o; Fugacity coefficient of component i in phase
G Local condensation rate e
(mol kg cat™s™) w Acentric factor
ki Binary interaction parameter
Kep Chemical equilibrium constant Subscripts
based on fugacities cond Condensation
Kpn Deviation of Kp , from the ideal gas dew Dew point
law h Reaction identification (h = 1,2, or 3)
Kp p, Chemical equilibrium constant i,j Component identification (i,j =
based on partial pressures C0,C0,,CH;0H,H,,H,0,CH,)
Kpoy Theoretical chemical equilibrium cat Catalyst
constant c Critical property
m Characteristic constant Cc Carbon
n Number of moles H Hydrogen
p Polar parameter 0 Oxygen
P Pressure (Pa)
P, Critical pressure (Pa) Superscripts
R Universal gas constant e Phase identification (e =V or L)
(8.314 J-mol™K™) in Inlet
] Reaction rate per weight of catalyst L Liquid phase
(mol-kg cat.™s™) %4 Vapor phase
T Absolute temperature (K) 0 Indicates standard pressure
T, Critical temperature (K)
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6 High pressure methanol synthesis from syngas using a
Cu/Zn0/Al203 catalyst

This chapter is submitted to AICHE Journal as: J.G. van Bennekom, J.G.M. Winkelman, H.J. Heeres, R.H.
Venderbosch, S.D.G.B. Nieland, D. Assink, K.P.J. Lemmens, High pressure methanol synthesis from syngas
using a Cu/Zn0O/Al,O; catalyst.

Abstract

Methanol synthesis from syngas was investigated for various gas compositions at new
exceptional conditions of high pressures (up to 20 MPa) combined with relatively low
temperatures (465 to 545 K). A total of 60 experiments were conducted in a packed bed reactor
using a conventional Cs doped Cu/ZnO/Al,03 catalyst. Methanol condensation was observed in
the high pressure low temperature regime, allowing for nearly complete conversions of the
limiting components. The experimental syngas conversions and off gas concentrations nicely
coincide with equilibrium calculations incorporating the formation of liquid methanol. Pressure,
temperature, and gas composition affected the methanol quality in terms of the presence of
water and higher alcohols (mainly ethanol, propanol, 2-methyl-1-propanol, and 1-butanol). The
higher alcohol content was negligible when the gas contained large amounts of CO,, while
higher CO concentrations and temperatures led to substantial higher alcohol concentrations in
the liquid product (up to 14 wt%).

115



Chapter 6

6.1 Introduction

Methanol has high potential as a clean and renewable energy carrier/fuel [1]. It is an important
bulk chemical and used for the production of formaldehyde, acetic acid and MTBE. Methanol is
mostly produced from syngas, a mixture consisting of predominantly H,, CO, CO,, and CHjs.
Syngas can be derived from natural gas, coal or biomass. Three coupled equilibrium reactions of
which two are independent are involved in methanol synthesis, viz. (i) the hydrogenation of CO
(Eqg. 1.1), (ii) the (reverse) water-gas shift (WGS) reaction (Eq. 1.2), and (iii) the hydrogenation of
CO; (Eq. 1.3):

CO+2H, —  CHsOH A, H2, =-90.64 kJ/mol (Eq. 1.1)
CO+H, = CO+H,0 A H2, = +41.17 kl/mol (Eq. 1.2)
CO,+3H, =  CH;OH+H,0 A HS, =-49.47 k)/mol (Eq. 1.3)

An important specification of the quality of the syngas is the stoichiometric number (Sy) defined
as [2]:

- (H,-CG,) (Eq. 1.4)

(CO+cC0O,)
If Sy is equal to 2, there is exactly enough H; present to convert all CO and CO; to methanol. For
Sy > 2, CO+CO, are the limiting components, while for Sy < 2, H; is limiting. Methanol synthesis
has been under investigation since the beginning of the 20" century. In the early days,
methanol synthesis was conducted industrially at 25 MPa and temperatures up to 623 K [3]. In
the 1960s, improved syngas purification techniques allowed the use of more active Cu based
catalysts and this led to the development of the low pressure process (5 — 10 MPa) at
temperatures typically from 493 — 573 K. Nowadays, nearly all methanol is produced via the low
pressure process. The conversion of syngas to methanol per reactor pass is between 30 — 70%
due to the unfavorable thermodynamic equilibrium conversion at low pressures. Thus, to obtain
complete conversion of the valuable syngas, recycle streams are required. Recycles ratios
(recycle stream/feed) are roughly in the range of 3 -4 to 1 [2].

High pressure methanol synthesis is interesting from an equilibrium point of view as higher
syngas conversions are attainable [4, 5]. In the high pressure low temperature range,
condensation of methanol (and water) can increase the equilibrium conversion further (see
Chapter 4 and 5). Experimental data on high pressure methanol synthesis are scarce, in contrast
to experimental data on low pressure methanol synthesis [6-10]. The accuracy of the high
pressure equilibrium experiments conducted in the 1920s and 1930s is doubtful and in these
experiments usually only CO and H, were considered [11-14]. Discrepancies between different
publications are relatively large as not all investigators measured exit gas compositions and did
not consider the formation of byproducts like higher alcohols (HA) which are likely to be formed
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at such conditions [15]. In the 1980s, an equilibrium model was developed based on Russian
high pressure data for a syngas composed of mainly H, and CO (10.1 < P < 40.5 MPa, 573 < T<
623 K) [16]. The equilibrium data could most accurately be described using a modified Himpan
equation of state. Kinetic data are scarce as well, and only a few publications deal with reaction
rates in high pressure methanol synthesis [17-19].

Although not always taken into account, the formation of HA in methanol synthesis can be
substantial, in particular at the higher temperatures, and was already reported in the 1930s [20,
21]. In these experiments, a mixture of methanol and linear and branched primary and
secondary alcohols was obtained from CO and H, at high pressure. The stoichiometry of the
overall reaction is given in Eq. 6.1 (with n as number).

NCO+2nH, —>  CyHyniOH + (n-1) H,0 (Eq. 6.1)

Hydrocondensation of lower alcohols to form HA was proposed as the main reaction
mechanism. Later studies by Nunan et al. and Elliot and Pennella with labeled carbon atoms
revealed that chain growth occurs mainly via the addition of intermediate C;-oxygenates to
adsorbed species [22-24].

Smith and Anderson described their experimental data quantitatively with a chain growth
scheme considering additions of C; and C; species on a- and [-carbon atoms (see scheme 6.1
for an example, as a simplification adsorbed methanol is taken as reactant) [25]. The scheme
was based on synthesis experiments over a K doped Cu/ZnO catalyst at 10.4 MPa and 458 K.

_R— = G-
+*—CH2—OV \4*—CH2—0H
—R—CH - CH,—OH —R—CH,— CH—CHs
| +H,0 l sh0
CH; OH

Scheme 6.1 Simplified reaction of an adsorbed intermediate with adsorbed methanol to HA.
— R implies an adsorbed surface species.

Chain growth occurs by addition to an a— or f—carbon as shown in Scheme 6.1. For example, 2-
butanol (if R = CH; in Scheme 6.1), is formed when addition occurs to the o-carbon and 2-
methyl-1-propanol is formed by addition to the B-carbon. In a kinetic study, this model was
extended with linear chain growth of primary alcohols accounting for e.g. the formation of 1-
pentanol [26]. The branched alcohols are termination products and considered as inert [22]. -
addition is faster compared to a-addition with K,CO3 promoted Cu/ZnO catalysts and this
explains the relatively high yields of 2-methyl-1-propanol (up to 18% of the total HA content in
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some cases). In HA synthesis also hydrocarbons can be formed [22, 27]. Thermodynamics
dictate that HA and hydrocarbons become more favorable in the following order for the same n-
value [28]:

CnHZn > CnHZn+1OH > CnHZn+2

The formation of hydrocarbons can be prevented (to a large extent) by using an appropriate
catalyst. In the kinetic regime, HA production is a function of the temperature and the residence
time, while the influence of the pressure seems marginal [15]. At longer residence times the HA
concentration decreases in favor of hydrocarbons [27]. The H,/CO ratio is important for HA
formation, as higher amounts of HA are observed at lower ratios (around 1) than the
stoichiometric ratio of 2, rationalized by observations that the rate of chain growth is
approximately proportional to the CO partial pressure, while the rate of chain termination
depends on the H, partial pressure [25]. HA synthesis is also accompanied by CO, production, as
part of the water formed in HA synthesis reacts with CO in the water-gas shift reaction (Eq. 1.2)
[21]. Water competitively adsorbs with intermediate species and in turn suppresses the
formation of HA [15, 21, 29].

In this chapter, the experimental results of high pressure methanol synthesis are described
with various syngas compositions and process conditions using a typical Cs doped Cu/ZnO/Al,03
catalyst. As far as we know, the conditions employed here, i.e. high pressure of up to 20 MPa
and low temperature of 465 to 545 K, have not been studied before. The focus is mainly on high
conversion runs (close to, or at equilibrium) and these were realized by using low gas hourly
space velocities (GHSV), high catalyst intake, and low feed flow rates. The gas composition was
varied to simulate gas compositions typically used in conventional methanol synthesis, a gas rich
in CO,, and gas that can be obtained from the reforming of a typical biomass feed (glycerol) in
supercritical water [30, 31]. The experimental data are compared with theoretical
thermodynamic equilibria. In addition, the composition of the liquid product (methanol, water,
and HA) was determined to assess the influence of process conditions and gas composition on
the product quality.

6.2 Description of the equilibrium model

An equilibrium model was developed for methanol synthesis which is described in Chapter 5.
This theoretical model not only focuses on chemical gas phase equilibria but also includes the
possible formation of a liquid phase. Here, only a short description of the model is given. The
Soave-Redlich-Kwong equation of state, with a modification for polar components, is used to
correct for nonideal behavior of the system [32]. A set of equations is solved accounting for the
chemical and phase equilibria, and conservation of mass with a nonnegativity constraint. An
example of such an equilibrium diagram is given in Fig. 6.1 for syngas 1 (H,/CO/CO,/CH,:
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70/5/20/5 vol%). The vapor and liquid phase are indicated with V' and ‘L’ respectively. The
figure comprises 4 curves:
» Curve 1 (solid) represents the gas phase equilibrium.
» Curve 2 (dashed) is the conversion at which a dew point is reached.
» Curve 3 (dotted) represents the equilibrium if both conditions, chemical and phase
equilibrium, are met.
» Curve 4 (dashed-dotted) is an extrapolation of the gas phase equilibrium curve (curve 1)
to lower temperatures.

The four curves merge in point A, which represents the highest temperature (507 K in this
example) at which a liquid phase is formed. At this temperature, the dew point temperature of
the mixture is equal to the reactor temperature and the gas composition is equal to the
equilibrium composition. Curve 4 is an extrapolation of the gas phase equilibrium curve without
taking into account condensation. The difference between chemical equilibria (curve 4) and the
combination of chemical and phase equilibria (curve 3) is indicated by the arrow marked ‘B’ in
Fig. 6.1 and is the additional conversion that can be obtained due to condensation. It is clear
that condensation is favorable for obtaining high equilibrium conversions.

100 —
"""" e 3. Equilibrium curve including
| B Tl liquid formation
L vl
80+ el
e v
= 14. Extrapolated gas phase " x A
= equilibrium curve -7
8 604 e
s .
o V+L -
O -
e e { 1. Gas phase
40 7 equilibrium curve
.-~ 2. Dew point curve
Vv
20 T T T T T T T T
473 493 513 533 553
T(K)

Fig. 6.1 Example of an equilibrium conversion diagram including chemical and phase equilibria. P =20.3
MPa, syngas: H,/CO/CO,/CH, = 70/5/20/5 vol%.

6.3 Materials and methods

6.3.1 Materials

Model syngases were supplied by Westfalen-AG, Germany and their composition is given in
Table 6.1. The relative deviation in the gas composition is 2% for each component. A
commercial methanol synthesis catalyst (Cs doped Cu/ZnO/Al,03) was used. All alcohols used
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for calibration purposes were supplied by Sigma-Aldrich, The Netherlands and have a purity of
at least 99%.

Table 6.1 Gas composition of the different syngases.

Syngas H, Cco CO, CH, N, C,Hg Sn Remarks
(vol%) (vol%) (vol%) (vol%) (vol%)  (vol%)  (-)

1 69.9 5.0 20.0 5.1 - 2.0 CO, rich

2 :;g_ ;22_ 3.0-35 5.0-51 - - 2.3 Typical Industrial syngas

3 54.5 19.7 20.3 4.0 1.0 - 0.9 Simulated RSCW gas (CO, rich)
54.2 28.9 10.9 4.0 - 2.0 1.1  Simulated RSCW gas (CO, lean)

6.3.2 Description of the setup

In Fig. 6.2 a schematic flow sheet of the setup is shown. The syngas was pressurized to the
desired pressure using a gas booster (Maximator). The flow rate was regulated using a Brooks
mass flow controller (MFC). The gas was preheated in a preheater (P1) consisting of an empty
tube (/D = 10 mm, L = 500 mm) surrounded by an annular heating jacket. Methanol synthesis
was conducted in two packed bed reactors (R1 and R2) in series each with the same dimension
as the preheater. Both packed beds were filled with catalyst (50 and 51 g). The catalyst particles
were crushed to obtain particles sizes between 1 and 2 mm.

= ]

e T

N Y
T/
~ packed bed

reactors

preheater T,
P1 -

unreacted gas
to GC/gas meter

y
heating oil

R1
,—, cooler
- heater - A T

collection

o1 vessel
R2
V1

\ N

gas / ‘
bottle '\FI’/‘

ST sample point

N liquid products

-
booster MG/

Fig. 6.2 Schematic flow sheet of the methanol synthesis setup.

Both packed bed reactors (R1 and R2) contained thermowells (T1 and T2 respectively) to record
the temperature inside the catalyst bed. In the first packed bed reactor (R1) the temperature
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was recorded at 5, 10, 20, and 30 cm from the top of the catalyst bed. The temperature of the
second packed bed reactor (R2) was recorded at 4 locations in the last 10 cm of the catalyst bed.
The temperature measured at the reactor exit (the last thermocouple of T2) in the centre of the
catalyst bed was taken as the temperature for equilibrium calculations. When the exit gas was
at or close to equilibrium the temperatures of the 4 thermocouples (T2) were within 1 K.

In a typical experiment, methanol synthesis occurred mainly in the first packed bed reactor
(R1). Due to the exothermicity of the reaction the temperature increased in the first part of the
packed bed and decreased in the second part and approached the oil temperature. The
temperature in the second packed bed reactor was constant in most experiments and the exit
temperature was at most 4 K below the temperature of the heating oil. After the second packed
bed (R2), the reactor effluent was cooled in a cooler (C1) by tap water before depressurization
to 1 MPa through a back-pressure valve. In a second cooler (C2), which was operated at 253 K
the remaining condensables were liquefied. However, complete condensation proved
cumbersome and entrainment of small amounts of methanol was observed in the tubing
between the collection vessel (V1) and the gas meter and in the gas meter itself. After
depressurization via a reducer the liquid was collected in a collection vessel (V1). The gas was
guantified by a gas meter (Gallus G1.6) and analyzed by gas chromatography (GC). Experiments
were conducted at pressures of 7.5+ 1, 15+ 1, and 20 + 1 MPa and temperatures of the heating
oil between 473 and 548 K. All parts of the system that were heated or cooled were well
insulated with glass wool. The process pressure was determined by taking the average pressure
of the two pressure meters. The gas hourly space velocities (GHSV) expressed as m? feed/m?
cat./h (from here on the dimension h'tis used) were varied between 0.5-10%°-2.2.10° h™.

The experiments were conducted with a large amount of catalyst to aim for equilibrium
conversions. The experimental data are shown in Appendix B. For some experiments duplicate
experiments were performed. The relative deviation in the CO+CO, and H, conversion was
below 2.5%. The conversions for syngas 2b at 15 MPa and 467-468 K were measured at two
different space velocities (GHSV = 1.1-10* and 2.2:10* h%, exp. 26 and 27 respectively). The same
was done for syngas 3 in exp. 40 and 41. The difference between the conversions measured was
small indicating that equilibrium was reached.

The accuracy of each experiment was determined by the closure of the carbon balance. In
the calculation of the carbon balances the organic fraction is assumed to consist of pure
methanol. In the majority of the experiments the carbon balance closure is below 100% as small
amounts of methanol do not condense in the second cooler (C2) and/or evaporate from the
collection vessel (V1). The exit temperature of the second cooler (C2) for experiments with
syngas 1 and the majority of syngas 2 was around 263 K and these experiments appeared to be
the most accurate, as the closure of the carbon balances were in between 90 and 103%. For the
remainder of the experiments with syngas 2, and all experiments with syngases 3 and 4, exit
temperatures between 283 and 288 K were measured, due to which less methanol condensed
and left the cooler in the vapor phase. The exit gas flows for these experiments were corrected
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for the methanol present in the vapor phase. The carbon balances of these experiments were
between 87 and 103%.

6.3.3 Analyses
The dry gas composition was analyzed using an online dual-column GC (GC 955, Syntech
Spectras) equipped with thermal conductivity detectors. CO was analyzed over a molecular
sieves 5 A column (L = 1.6 m) with helium as carrier gas. CO,, CHa, and C,. were analyzed on a
Chromosorb 102 column (L = 1.6 m) with helium as carrier gas. H, was analyzed on the
molecular sieves column using argon as carrier gas. The water content of the methanol was
determined by Karl Fischer-titration. The composition of the organics in the liquid phase was
determined with a GC (HP 5890 series Il) equipped with a flame ionization detector (FID) using a
Restek RTX-1701 column (L = 60 m, ID = 0.25 mm) coupled with a mass spectrometer (MS, HP
5972 series). The FID was used for quantification and the MS for identification. The FID was
calibrated for the main constituents of the organic phase: methanol, ethanol, 1-propanol, 2-
propanol, 1-butanol, 2-butanol, 1-pentanol, 2-methyl-1-propanol, and 2-methyl-1-butanol.

The composition of the organic phase and the water content were determined with different
techniques. The total is not normalized to 100%. Any deviation from 100% reflects mainly the
accuracy of the measurement methods used.

6.3.4 Statistical analyses of HA formation as a function of process conditions for
syngas 4

The experimental results for each response (the concentrations of the most abundant higher
alcohols) were analyzed statistically by means of the Design Expert 8 software package (Stat-
Ease Inc.). The responses were modeled with a quadratic model using the following standard
expression:

Y =0y + D bx D bix2 D> b xx, (Eq. 6.2)
i i i j

Here, i and j (i # j) represent the independent variables T and P, while b;, bj;, b; are the regression
coefficients which were obtained by statistical analyses of the data. The significant factors were
selected based on their p-value in the ANOVA analyses. Factors with a p-value below 0.05 were
regarded as significant and included in the response model. Step-wise elimination was applied
to eliminate all statistically insignificant terms. After each elimination step a new ANOVA table
was generated until all insignificant factors were removed.
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6.4 Results and discussion

6.4.1 Overview of experiments

Sixty methanol synthesis experiments were conducted in a packed bed reactor using low GHSV
values (< 2.2:10% h™) to aim for equilibrium conversions at the exit of the reactor. Four different
syngases were used, see Table 6.1 for details. The results of all experiments are summarized in
Table B.1 and B.2 in Appendix B. Table B.1 contains the reactions conditions, outlet gas and
liguid composition, and both the experimental and theoretical equilibrium conversion. Table B.2
contains the composition of the liquid products.

Syngas 1 is a gas rich in H, with CO, as the main carbon oxide and a Sy of 2. Syngas 2 is
typically used in conventional methanol synthesis with H, and CO as the main constituents and a
Sy of 2.3. Syngases 3 and 4 are representative for syngases that can be obtained in the
reforming of biomass in supercritical water. The Sy is below 2 (respectively 0.9 and 1.1) for both
gases and H, is the limiting component. In the next sections, the major findings for each of the
four syngas compositions will be further elucidated.

6.4.2 Results for syngas 1 (H2/CO/C0O2/CH4+ =70/5/20/5 vol%).

The experimental conversions for syngas 1 are shown in Fig. 6.3 as a function of the
temperature at a fixed pressure of 20 + 1 MPa. The highest conversions were obtained at 484 K,
viz. 92% for both CO+CO; and H,. A clear sharp increase in the conversion for this syngas was
observed when the temperature was lowered to below approximately 507 K. Though puzzling at
first instance, it appears that this is the condition at which condensation and thus the formation
of a liquid phase occurs (see also Chapter 4). This observation was supported by model
equilibrium calculations, see Fig. 6.1 for details (see also Chapter 5).

In general, the experimental data coincide nicely with the theoretical predictions including
the occurrence of condensation at temperatures below 507 K. However, the experimental
conversions at the lowest temperature in the range are considerably lower than the calculated
equilibrium conversions. Likely, equilibrium is not reached due to the reduced reaction rates at
this temperature. Deviations between experiments and model are noticeable for the
conversions of the individual components CO and CO,. This is particularly evident for CO, as the
feed concentration of this component is low. The concentration of CO in the feed is only 5 vol%
and the exit concentration is an order of magnitude lower. If for example part of the CO is
converted to CO, via the water-gas shift reaction (Eq. 1.2), indicating an error in the model
predictions at the higher temperatures, the influence of the deviation on the conversion of CO is
larger than on CO,.
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Fig. 6.3 Experimental conversion for syngas 1 including model predictions + dew point curves. P =20.3
MPa (equilibrium calculation), syngas: H,/CO/CO,/CH, = 70/5/20/5 vol%. Symbols: experimental data;
curves: model predictions.

The gas composition at the outlet of the reactor is shown in Fig. 6.4 for an experiment with
syngas 1 at 20 £ 1 MPa. The higher temperature data (7T > 510 K) correspond nicely with the
equilibrium composition. At temperatures below the discontinuity, the area in which liquid
formation is predicted, the experimental data follow the theoretical predictions (473 > T > 510
K) but deviations become noticeable as equilibrium is not reached, confirming the results shown
in Fig. 6.3. Similar results are obtained for the lower pressures of 8 and 15 MPa.
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Fig. 6.4 Outlet gas composition for syngas 1. P = 20.3 MPa (equilibrium calculation), syngas:
H,/CO/CO,/CH, = 70/5/20/5 vol%. Symbols: experimental data; curves: model predictions.

The experimental conversions at lower pressures (8 and 15.4 MPa) are shown in Fig. 6.5. At a
pressure of 15.4 MPa the interval, in which both a vapor and a liquid phase exist, is much
smaller than for 20.3 MPa. The highest temperature at which a dew point can be reached is 491
K, which is 16 K lower than at 20.3 MPa. At the lowest pressure (8.0 MPa) no dew point is
predicted by the equilibrium model and experimental data points at temperatures exceeding
490 K coincide nicely with the equilibrium predictions. At lower temperatures, the experimental
conversions are again lower than predicted by the equilibrium model, likely due to kinetic
constraints.

The composition of the liquid products obtained with syngas 1 is given in Table B.2 in
Appendix B. The liquid consists mainly of methanol (65 — 72 wt%) and water (27 — 34 wt%). In
some liquid products, HA were found, though the amounts were very small (< 0.1 wt%). A clear
relation between the water content and process conditions (pressure and temperature) is not
observed. The equilibrium model predicts a slight increase in methanol concentration and a
slight decrease in water concentration as a function of the temperature in the range of 463 to
543 K. The changes in the equilibrium composition depend on the system of three reactions
(Egs. 1.1 — 1.3), but can be rationalized accordingly. The increase in methanol is caused by a
sharper decrease in CO;, conversion, leading to methanol and water, compared to the decrease
of CO conversion, leading to methanol only, with only small contributions of the WGS reaction.
At temperatures exceeding 543 K the water concentration increases due to a larger share of the
reverse WGS reaction (Eq. 1.2).
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Fig. 6.5 Experimental conversion for syngas 1 including model predictions + dew point curves. P = 8.0 and
15.4 MPa (equilibrium calculations), syngas: H,/CO/CO,/CH, = 70/5/20/5 vol%. Symbols: experimental
data; curves: model predictions.

6.4.3 Results for syngas 2a/2b: H2/C0O/CO2/CH4+ =67 - 68/24/3 - 4/5 vol%.

Syngas 2 represents a conventional methanol synthesis syngas, with a Sy of 2.3. A graphical
representation of the results for syngas 2 is given in Fig. 6.6. At the lower temperatures, the
conversion of CO and CO, are predicted accurately, however, above 495 K the conversion of
both components starts to differ from the model predictions. The CO conversion is higher than
predicted whereas the CO, conversion is lower. The deviations from the predicted values seem
to be large for CO,, but it should be kept in mind that the feed concentration of CO, is much
lower than the feed concentration of CO. At the highest temperatures, the CO, conversion even
becomes negative, indicating a net CO, production. The difference from the model prediction is
larger for this syngas than for syngas 1 and points most probably at the formation of HA, in
particular at the highest temperature, which is known from literature at these conditions [15,
33]. For example, for a Cu/Zn/Al,03 + 0.85 wt% Cs catalyst (P = 10 MPa, T = 573 K, GHSV = 4000
h™, H,/CO = 1) a HA content of 13.7 wt% was reported in the literature [15].

Analyses of the organic fraction in the liquid phase (GC-MS/FID) indeed revealed an increase
in HA up to 3.7 wt% at the highest temperature. Due to the formation of water in HA synthesis
part of the CO is converted to CO; resulting in higher CO conversions and lower CO, conversion
than predicted.
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Fig. 6.6 Experimental conversion for syngas 2 including model predictions + dew point curves. P = 19.7
MPa, syngas: H,/CO/CO,/CH, = 67/24/4/5 vol%. Symbols: experimental data; curves: model predictions.

The data obtained at 7.8 MPa and 15.1 MPa can also be accurately described with the model,
although a small amount HA (< 3.0 wt%) was produced at the higher temperatures. The
conversion increases with increasing pressure and decreases with increasing temperature as
thermodynamics dictate. The difference in conversion between the two pressures becomes
larger at the higher temperatures.

At the lower temperatures the concentration of HA is very low (see Table B.2 in Appendix B),
but at the higher temperatures the concentration increases. The main HA present were ethanol
and 1-propanol. The methanol concentration for syngas 2 was between 89.7 and 97.1 wt% with
a corresponding water concentration of 2.6 — 9.0 wt%. Compared to syngas 1 (CO,-rich), the
methanol concentration is higher and water concentration obviously lower as less CO, was
converted in the case of syngas 2.

6.4.4 Results for syngas 3: H,/CO/C0O2/CH4/N2 =55/20/20/4/1 vol%.
For the RSCW-like syngases 3 and 4, H, is the limiting component. For syngas 3, the conversion
results are shown in Fig. 6.7. At the lowest temperatures, the equilibrium conversion was not
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reached, but again, at the other temperatures the equilibrium predictions coincide nicely with
the experimental data. At a pressure of 19.4 MPa a dew point was calculated for temperatures
below 480 K. The presence of this dew point, however, does not have a significant influence on
the equilibrium conversion.

The liquid phase, for experiments with syngas 3, contains mainly water and methanol, while
the HA concentration is low (at most 2.5 wt%). The HA content increased with temperature at
14.9 and 19.4 MPa. The water content (24.6 and 20.5 wt% for exp. 42 and 43) seems rather high
and can neither be explained by the CO, conversion nor by the HA quantity. Probably, due to
high surroundings temperatures (* 305 K) a disproportionate amount of CH;0H compared to
H,O has been evaporated from the liquid collection vessel leading to higher water
concentrations than expected.
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Fig. 6.7 Experimental conversion for syngas 3 at three different pressures including model predictions.
P=17.8,14.9, and 19.4 MPa (equilibrium calculations); syngas: H,/CO/CO,/CH,/N, = 55/20/20/4/1 vol%.
Symbols: experimental data; curves: model results.

6.4.5 Results for syngas 4: H2/CO/C02/CH4/C2H6 = 54/29/11/4 /2 vol%.

The composition of syngas 4 is comparable to syngas 3, except for the CO/CO, ratio, which is
approximately three times higher than for syngas 3. The experimental conversion at different
pressures as a function of the temperatures is shown in Fig. 6.8. The maximum theoretical
conversion, 67.5% for CO+CO, and 100% for H,, is not an equilibrium conversion, but the
conversion when the limiting component H, is converted completely. The conversion of CO+CO,
and H; increased with increasing pressure and decreasing temperature and approached the
highest theoretical conversion at the highest pressure and lowest temperature. The reaction
products were methanol, water, and a substantial amount of HA. The conversions at 19.8 MPa
can be found in Fig. 5.14 in Chapter 5. When the experimental conversions are compared to the
model predictions, good agreement is found for the lowest temperature, while at higher
temperatures large differences are obtained. The differences can be attributed to the formation
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of HA, which is by far the most significant for syngas 4, and most probably due to the high CO
partial pressures.

H
2
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Fig. 6.8 Experimental conversion for syngas 4 as a function of the pressure for 4 temperatures. Syngas:
H,/CO/CO,/CH4/N, = 54/29/11/4/2 vol%. The lines are trend lines and they are for indicative purposes
only.

6.4.6 HA formation for syngas 4

HA concentration for syngas 4 can be as high as 13.9 wt% (see Table B. 2 in Appendix B, exp. 48-
60). This value is comparable to a concentration of 13.7 wt% reported in the literature for a
Cu/Zn/Al,03 + 0.85% Cs catalyst (P = 10 MPa, T = 573 K, GHSV = 4000 h* H,/CO = 1). In
dedicated HA synthesis the yields can be much higher as HA vyields of 58 wt% have been
reported for a ZnO/Cr,03 + 3% K,0 catalyst (P = 8.5 MPa, T= 678 K, GHSV = 8000 h'l, H,/CO =1)
[15]. Based on thermodynamics, the formation of HA is expected [33, 34], but is not included in
the equilibrium model used in this study, as the focus is on methanol synthesis. The main HA
formed in the experiments were ethanol and 1-propanol followed by 1-butanol, 2-methyl-1-
propanol, and 2-methyl-1-butanol (Eq. 6.1 and Scheme 6.1). The product distribution seems to
follow the Smith-Anderson growth pathway (similar product ratios were observed), although
also some 1-pentanol and larger primary alcohols were detected [25, 26]. Besides the HA
indicated above, small amounts of more than 100 organic products were identified by GC-MS,
including esters, aldehydes, and HA even up to 1l-undecanol. These components were not
guantified, because their concentrations were estimated to be below 0.05 wt% in general. The
concentration of the most abundant alcohols (methanol, ethanol, 1-propanol, 1-butanol, 2-
butanol, and 2-methyl-1-propanol) is given in Fig. 6.9 as a function of the process conditions.
The methanol concentration clearly decreases over the temperature range in favor of the HA,
with ethanol being the predominant one.
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Fig. 6.9 Alcohol concentration for syngas 4 as a function of the temperature for 7.6 MPa (A), 15.1 MPa
(B), 19.9 MPa (C). Syngas: H,/CO/CO,/CH./C,Hs = 54/29/11/4/2 vol%.

The concentration of individual HA components increases exponentially with the temperature,
which is in agreement with literature data [15, 22]. It is known that Cs (the dopant of the
catalyst used in this study) promotes the formation of ethanol, but enhances the C; alcohol
formation to an even greater extent (see Table 6.2) [22].

Table 6.2 Alcohol yields over Cu/ZnO catalysts from the literature [22]. P=7.6 MPa, T=583 K,
GHSV = 3260 L/kg cat./h, H,/CO = 0.45. Other organic products and hydrocarbons are omitted.

2-methyl-1- 2-methyl-
Methanol Ethanol 1 -propanol 1-butanol
propanol 1-butanol
Catalyst (g/kg cat./h)
Cu/Zn0O 204 22.6 10.1 20.7 3.4 8.6
0.34 mol% Cs on Cu/Zn0O 157 17.0 38.1 48.6 8.2 15.5

The HA vyield for ethanol and 1-propanol, the most abundant species, were modeled using
nonlinear multivariable regression based on two independent parameters (T and P). The 13
experiments for syngas 4 were best modeled using quadratic models for the individual

components data. The RZ, Rzadjusted, and RZPRESS are given in Table 6.3, and indicate that the
models are suitable to navigate the design space.
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Table 6.3 Regression coefficients for ethanol and 1-propanol.

Ethanol 1-propanol

Variable (x;) Coefficient  Coefficient

Intercept (bo) 149.51 115.08
T (x;) b, -0.662 -0.501
P (x,) b, 1.152 0.774
X1X2 b1, -0.00236 -0.00159
X7 b 0.00073 0.00054
X, by, ns.? ns.?

R’ 0.98 0.95

R’ acjusted 0.97 0.93

R%press 0.91 0.80

®n.s.: nonsignificant terms

The parity plots of the models are given in Fig. 6.10 and they confirm the good predictive
capability of the model.

5.0 qEthanol 1-propanol
" 3.0
]
4.0+
X "
¥ .
o 3.0 L] 2.0 1
S
E [ ]
>
3 2.0 .
3]
© 1.04
@ ]
& 1.0
.l
L]
0.0 T T T T T T T T T 0.0 T T T T T T
0.0 1.0 2.0 3.0 4.0 5.0 0.0 1.0 2.0 3.0

Experimental value (wt%) Experimental value (wt%)

Fig. 6.10 Parity plot for the experimental and predicted values of the concentration of ethanol and 1-
propanol.

The combined effect of pressure and temperature on the HA synthesis is visualized in 3D graphs
in Fig. 6.11. The concentration of ethanol and 1-propanol shows similar trends. The
concentration increases with temperature. The pressure effect is more complex and higher
pressure seems to have a slight promoting effect on the HA synthesis at lower temperatures
and a suppressing effect at the higher temperatures. The highest quantity of HA is obtained at
the combination of the lowest pressure and the highest temperature. An hypothesis for this
phenomenon is that the competitive adsorption of water with intermediate species that form
the HA starts to play a more predominant role at higher pressures [29]. Due to a larger quantity
of HA at the higher temperatures more H,0 is produced.
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Fig. 6.11 Statistical dependence of the HA concentration as a function of the pressure and temperature,
ethanol (A), 1-propanol (B). Syngas: H,/CO/CO,/CH4/N, = 54/29/11/4/2 vol%, GHSV = 1.8/1.9-10° h™.

Besides the absolute pressure and temperature, the gas composition plays an important role in
the formation of HA, which could not be modeled successfully using the statistical models
described in this section. The HA concentration increases generally with a decreasing H,/CO
ratio, which is known from literature [15]. The maximum HA content as a function of the H,/CO
ratio is depicted in Table 6.4. The HA content cannot be solely related to the H,/CO ratio as the
CO, concentration plays an important role. If the H,/CO ratio decreases and the CO/CO, ratio as
well (syngas 2 vs. 3), the HA yield can go down. This is most probably caused by the conversion
of CO, to methanol yielding water which is known to suppress the formation of HA [15, 20].
When CO; is the most abundant carbon oxide (syngas 1) hardly any HA were observed.

Table 6.4 HA content for the different syngases.
Syngas H,/CO CO/CO, Sy HA at8+1MPa HA at20+1 MPa

(-) (-) () (wt%) (wt%)
1 14.0 0.3 20 01 0.1
2 2.8 6.0 23 6.0 3.7
3 2.8 1.0 09 0.1 1.7
4 1.9 2.6 11 139 8.6

6.5 Conclusion

A detailed study of once-through high pressure methanol synthesis was performed in a packed
bed reactor over a Cs doped Cu/ZnO/Al,0; catalyst. The main focus was on equilibrium data,
which were obtained by conducting experiments at relatively low GHSV values (0.5-10° — 2.2:10°
h™') and measuring the exit gas compositions. In the high pressure, low temperature regime the
conversion of the limiting components was almost complete, due to the in situ formation of a
liquid phase. The exit gas compositions and the high conversions (up to 99.5%) measured at

these conditions can be accurately predicted with a theoretical equilibrium model. The syngas
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conversion increased with increasing pressure and decreasing temperature as thermodynamics
dictate. The formation of higher alcohols in methanol synthesis was a function of mainly the
temperature and the syngas composition. For a syngas composed of mainly H, and CO, higher
alcohol concentrations up to 14 wt% were observed.

The results imply that methanol synthesis in a once-through mode at high pressure is
possible as high (equilibrium) conversions of the limiting component in the syngas were
obtained. Thus, recycle streams used in conventional methanol synthesis can be omitted leading
to process simplifications. However, such a process is attractive only if syngas at 20 MPa or
more is available (without an energy intensive gas compression step). A pressurized syngas can
be obtained e.g. in biomass reforming in supercritical water where syngas at pressures > 22.1
MPa is obtained by pumping a carbon containing liquid (or slurry) to high pressure, prior to its
gasification. Advantageously, pressurizing a liquid consumes much less energy than gas
compression and, when biomass resources are used, ‘renewable’, green methanol is produced.
Reactions rates in high pressure methanol synthesis are expected to be higher than for the
conventional low pressure processes, leading to either smaller reactors or possibilities for higher
throughputs in existing ones. These studies are in progress and some preliminary results are
reported in Appendix C and D.
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7 Bench scale demonstration of the Supermethanol concept
The synthesis of methanol from glycerol derived syngas

This chapter is published in slightly different form as: J.G. van Bennekom, R.H. Venderbosch, D. Assink,
K.P.J. Lemmens, H.J. Heeres, Bench scale demonstration of the Supermethanol concept: The synthesis of
methanol from glycerol derived syngas, Chem. Eng. J., 207-208 (2012) 245-253.

Abstract

An integrated process for the synthesis of methanol from aqueous glycerol involving reforming
of the feed to syngas followed by methanol synthesis is successfully demonstrated in a
continuous bench scale unit. Glycerol reforming was carried out at pressures of 24 — 27 MPa
and temperatures of 948 — 998 K with a throughput of approximately 1 kg aqueous feed/h (3 —
10 wt% glycerol) leading to high glycerol conversions (95.0 — 99.9%) and syngas with a
composition range of H,/CO/CO,/CH, = 44 — 67/1 — 21/16 — 34/2 — 18 vol%. The effluent water
of the process was recycled at high pressure, reducing the water consumption of the process
significantly. Subsequent syngas conversion to methanol was carried out in a packed bed
reactor at temperatures between 468 and 518 K and pressures between 24 and 27 MPa using a
commercial methanol catalyst (Cs doped Cu/Zn0O/Al,0s3). The maximum yield of methanol based
on glycerol intake was 0.62 kg methanol/kg glycerol for an experiment with a time on stream of
16 h, which corresponds to a carbon conversion (carbon in methanol over carbon in glycerol) of
60%. This value is close to the maximum theoretical yield of 78% based on stoichiometric
considerations.
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7.1 Introduction

Methanol, the simplest of all alcohols, has a wide application range. It is mainly used for the
production of bulk chemicals like formaldehyde, acetic acid, and a wide variety of application
products including polymers, paints, and adhesives. In addition, methanol can be used as a clean
and renewable energy carrier [1]. The global annual production of methanol is on the rise and
amounted approximately 38 million metric tons in 2007 [2]. Typically, methanol is produced
from syngas, a mixture of predominantly H,, CO and minor quantities of CO, and CH4. Methanol
is commercially produced mainly in gas-solid catalytic reactors and involves three equilibrium
reactions, viz.: (i) hydrogenation of CO (Eq. 1.1), (ii) the (reverse) water-gas shift (WGS) reaction
(Eq. 1.2), and (iii) hydrogenation of CO, (Eq. 1.3) [3]:

CO+2H, =  CH3OH A,H2, =-90.64 k)/mol (Eq. 1.1)
CO,+H, &= CO+H,0 A,HS, =+41.17 ki/mol (Eq. 1.2)
CO,+3H, =  CH3;OH+H,0 A,HS, =-49.47 k)/mol (Eq. 1.3)

The stoichiometric ratio (Sy) of the syngas is defined as [4]:

_(H,-C0G,) (Eq. 1.4)
N (CO+CO,)

With Sy equal to 2, all reactants can be converted to methanol. For Sy > 2, CO+CO, are the
limiting components, while for Sy < 2, H; is limiting.

In view of environmental issues and diminishing fossil fuel reserves, the production of
chemicals and fuels from renewable carbon sources has attracted considerable interest [1].
Methanol is commonly produced from fossil resources like natural gas or coal, however,
biomass can also be used as resource. This allows the synthesis of green methanol which not
only has an environmental bonus but may also lead to considerable variable costs reductions
when the biomass is a waste product with a zero or negative value.

Methanol synthesis from biomass was already proposed during the first oil crisis in the 1970s
[1]. In the 1980s a comprehensive review was published on the production of methanol from
syngas derived from wood. Different gasification technologies were proposed and
demonstration projects of these technologies were discussed [5, 6]. In the mid 1990s several
projects on methanol synthesis from biomass were initiated such as the Hynol project in the
USA and the BLGMF (black liquor gasification with motor fuels production) project in Sweden [7-
9]. Unfortunately no experimental data of these processes is available in the open literature.

Methanol production from biomass was experimentally demonstrated by reforming pyrolysis
oil into H, and CO, followed by catalytic syngas conditioning (to H,/CO/CO,/N, = 59/31/9/1
vol%) and subsequent methanol synthesis in a packed bed (533 K and 5.0 MPa) [10]. An overall
carbon conversion of 23% was obtained at a production rate of 1.32 kg methanol/kg cat./h. At
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industrial scale, Chemrec in Sweden produces methanol and dimethyl ether (DME) from syngas
obtained by entrained flow gasification of black liquor [11, 12]. The plant capacity is 4 tons of
DME per day and the first DME and methanol were produced in 2011. The production of
methanol from glycerol was demonstrated on an industrial scale by BioMCN in The Netherlands
[13]. Glycerol, produced as byproduct in biodiesel synthesis, became an interesting biomass
resource as the biodiesel production increased in the 2000s. BioMCN has adapted their natural
gas reforming unit to a unit suitable for steam reforming of glycerol to syngas. Subsequently the
syngas is converted to methanol in conventional packed bed methanol synthesis reactors. The
capacity of their plant is 250 ML of methanol/y [13].

Most publications on methanol production from biomass are desk-top studies and data
comparison is difficult [8, 9, 14-18]. These studies often combine biomass gasification and
conventional methanol synthesis with, in some cases, electricity production [8, 9, 16, 18].
Another concept of using biomass to produce methanol is the co-processing of biomass and
fossil resources, e.g. co-gasification of biomass with coal or natural gas [14, 15, 17]. The
advantage of this approach is that the Sy can be adjusted without gas conditioning or removal of
CO, as the Sy of syngas from biomass is < 2 and of natural gas > 2 [14].

The concepts involved in the current processes for the synthesis of methanol from biomass
generally involve an initial gasification step at elevated temperatures and pressures. Our
interest involves syngas production by a hydrothermal process, viz. conversion of a wet biomass
stream to syngas by reforming in supercritical water (RSCW), followed by methanol synthesis.

RSCW has been under investigation since the late 1970s and several comprehensive reviews
have been published [19-23]. One of the advantages of RSCW is that the syngas is produced at
elevated pressures (> 22.1 MPa). This is particularly advantageous for the subsequent methanol
synthesis. At higher pressures the chemical equilibria, as given in Egs. 1.1-1.3, favor the reaction
products, methanol and water, and high conversions (up to 98%, depending on gas composition,
temperature, and pressure) can be obtained in a single reactor pass. In Fig. 7.1 the equilibrium
conversions for conventional methanol synthesis, BASF's high pressure methanol synthesis
(1920 — 1960), and the current work at relevant process conditions are given [4].

Even more advantageously, conversions can be higher than expected purely based on gas
phase equilibria, as at high pressure and ‘low’ temperature (e.g. 20 — 25 MPa and 473 K) a liquid
methanol phase is formed (see Chapters 4 and 5). At certain process conditions and syngas
compositions, equilibrium conversions of CO+CO, can exceed 99.5%. Thus, a combination of the
RSCW of a suitable biomass resource for high pressure syngas production followed by methanol
synthesis may have advantages compared to gasification and low pressure methanol synthesis
concepts.

In this chapter an experimental demonstration of the integration of the RSCW of glycerol (a
model biomass resource) and methanol synthesis in a dedicated continuous bench scale unit is
presented aiming at maximizing the methanol yield per kg of glycerol. The performance of the
process in terms of glycerol conversion, methanol yield, and carbon balances will be evaluated
and discussed and strong and weak points of the concept are addressed. The use of recycling
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the effluent water in the reformer section at high pressure is demonstrated which has, to the
authors’ knowledge, not been shown before and is an absolute novelty of this paper.

I Supermethanol

BASF high pressure
methanol synthesis

25 MPa
20 MPa

15 MPa

20 Conventional low pressure
methanol synthesis 10 MPa
0 . : . | . : . : 5 MPa
463 503 543 583 623

T (K)

Fig. 7.1 Equilibria in methanol synthesis for different pressures (H,/CO/CO,/CH, = 67/24/4/5 vol%). The
condition ranges for conventional methanol synthesis, BASF’s high pressure methanol synthesis process
and the range envisaged in this study are roughly indicated.

7.2 Theoretical considerations

The ideal syngas for methanol synthesis has an Sy of 2 (see Eq. 1.4). However, even if glycerol
decomposes solely in H,, CO, and CO, the maximum Sy is 1.33, and this value is not affected by
the progress of the WGS reaction. This is illustrated in Egs. 7.1 and 7.2. In Eq. 7.1, glycerol
decomposition into syngas including the reversible WGS reaction is given. The syngas
composition at equilibrium, expressed in terms of x, is a function of the temperature and the
water concentration.

+x H,0
C3HgO3 — (3-x)CO+ (4 +x)H;y; +xCO, (Eq.7.1)

Application of the definition for Sy and introduction of gas phase compositions in terms of x, see
Eq. 7.2, confirms that the Sy value is 1.33 at most and independent of the progress of the WGS
reaction:

_ (H,-CO,) _ (4+x—Xx) :ﬂ (Eq. 7.2)
N (CO+CO,) (B-x+x) 3

The Sy value, though, can be increased by the addition of H, to or removal of CO, from the
syngas. To obtain the highest methanol yield per kg glycerol, glycerol reforming followed by

138



Bench scale demonstration of the Supermethanol concept

syngas conversion should proceed according to the stoichiometry as shown in Eq. 7.3. Glycerol
is selectively converted to H,, CO and CO,. Subsequently, all H, and CO react to methanol while
the CO, remains.

3 CHgO3+2 H,0 — 7CO+14 Hy,+2 CO, — 7 CH30H +2 CO;, (Eqg. 7.3)

In this case, 2.33 mol carbon/mol glycerol end up in methanol (77.8% on carbon basis or 0.81 kg
methanol/kg glycerol on weight basis), which is the absolute theoretical maximum. Actual yields
will be lower due to the fact that both glycerol reforming and methanol synthesis involve
equilibrium reactions and the occurrence of other reactions like the formation of higher
hydrocarbons, higher alcohols (HA), and methanation (see Eq. 2.2).

CO+3H; <=2 CH;+H,0 (Eq. 2.2)

To gain insight into the effect of the equilibria on process performance theoretical yields
including equilibria were determined. The chemical equilibria involved in glycerol reforming (Eq.
1.2 and Eq. 2.2) as a function of process conditions were calculated by solving a set of equations
using the model described in Chapter 2. The equilibria in methanol synthesis including liquid
formation were calculated with a more sophisticated model (see Chapter 5). In the model a set
of equations was solved accounting for the chemical equilibria (theoretical equilibrium
constants), phase equilibria (fugacity of the vapor phase is equal to the fugacity of the liquid
phase), and conservation of mass with a nonnegativity constraint.

The model for glycerol reforming predicts that a syngas with an Sy of 0.85 (H,/CO/CO,/CH,4 =
58.0/2.1/30.4/9.5 vol%) is obtained when a 10 wt% glycerol feed is reformed at 973 K and 24
MPa. In the subsequent methanol synthesis at 24 MPa and 473 K, the equilibrium model
predicts the presence of a dew point and thus the formation of a liquid phase. The carbon
conversion (carbon in methanol over carbon in glycerol) is 44% which is equal to 0.46 kg
methanol/kg glycerol. This yield is substantially lower than the theoretical maximum based on
Eqg. 7.3 (0.81 kg methanol/kg glycerol) and this lower yield is caused mainly by the formation of
CH4 in the reforming step, at the expense of H, and CO. CHy is inert in methanol synthesis and
its formation increases the H, deficiency of the gas mixture.

7.3 Materials and methods

7.3.1 Materials

Glycerol (purity > 99%) was supplied by Chemproha, The Netherlands. Deionized water was
used with a conductivity below 3 uS/cm. In some reforming experiments (exp.) a Ni/CaO-6Al,03
catalyst was used. This catalyst is known to promote the decomposition of glycerol, reforming of
higher hydrocarbons, and methanation, and its properties and preparation procedure can be
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found in Chapter 3. A commercial Cs doped Cu/ZnO/Al,Os catalyst was used for methanol
synthesis.

7.3.2 Setup description

The setup consisted of a reformer section, a high pressure gas-liquid separator and a
subsequent methanol synthesis reactor system. An extensive description of the reformer
section of the setup is given in Chapter 2. A schematic flow sheet of the setup is given in Fig. 7.2.
The reformer section was operated in continuous mode with a throughput of 1 L aqueous
feed/h. Glycerol and water were introduced to the system from feed containers F1 or F2
through a pump and subsequently reformed in five reforming reactors (R1 — R5) in series. The
temperature in each reactor can be adjusted individually. The setup contained in situ separation
of the water and gas phase after the reformer section in a high pressure separator (HPS). The
liquid phase in the HPS, can either be depressurized and transferred to a low pressure separator
(LPS) or recycled via a recycle pump. In the former operating mode (using the LPS), the gases
dissolved in the aqueous liquid phase were released, quantified (Gallus G1.6 gas meter) and
analyzed (gas chromatography, GC). In the latter operation mode (recycle mode) the gases
remained dissolved and glycerol feed was injected in the recycle stream before the first
reforming reactor (R1). If required all reforming reactors can easily be filled with catalyst. The
glycerol feed concentration was typically between 3 — 10 wt%, the pressure around 24 — 27
MPa, the temperature of the reformer section between 948 — 998 K, and the residence time
ranged from 30 — 35 s.

The gas phase from the HPS was directly fed to the methanol synthesis section without
upgrading or selective removal of components. In one of the experiments external H, was
added via the gas booster. The methanol section contained three tubular packed bed reactors
(P1 — P3, each L = 500 mm, /ID = 10 mm) surrounded by heating jackets. A heating/cooling
medium was flown through the heating jacket to control the temperature in the reactors.
Temperatures were recorded at 4 positions inside the packed bed P2 (at locations 2 to 30 cm
from the entrance) and at the exit of packed bed reactor P2 and P3. Two or three of the tubular
reactors were filled with catalyst particles (1 < d, < 3 mm). The mixture of methanol, water, and
unconverted gases from the last packed bed (P3) was cooled (cooler C2) using tap water,
depressurized and cooled (cooler C3) to temperatures below 263 K to trap all condensables.
Liquid samples were collected in a vessel and unconverted gas was quantified (Gallus G1.6 gas
meter) and analyzed by GC. The methanol synthesis reactors were operated at temperatures
from 468 — 518 K and at similar pressure as the reformer section.
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Fig. 7.2 Flow sheet of the integrated Glycerol-to-Methanol setup. The left part of the figure is the
reformer section of the process and the right part is the methanol synthesis section. HPS and LPS refer to
high pressure separator and low pressure separator respectively. F = feed container, C = cooler, P =
packed bed reactor. The bold capital letters correspond to the locations where relevant process
parameters were measured.

Several process parameters were logged during operations. The locations are indicated with
letters in bold in Fig. 7.2. The process pressure was the average of A, the temperature of
reactor R5 (Trs) was measured at B at the end of reactor R5, the glycerol feed flow at C, the gas
flow of the HPS and LPS at D1 and D, respectively, the temperature at the end of the methanol
synthesis bed at E, the amount of liquid product at F, and the unconverted gas flow at G.

7.3.3 Product analyses

The gas composition of the off gas from the reforming process and methanol synthesis was
analyzed using an online dual-column gas chromatograph (GC 955, Syntech Spectras) equipped
with thermal conductivity detectors. CO was analyzed and quantified using a molecular sieves
5A column (L = 1.6 m) with He as carrier gas. CHa, CO,, and C,. were analyzed on a Chromosorb
102 column (L = 1.6 m) with He as carrier gas. H, was analyzed on the molecular sieves column
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using Ar as carrier gas. The total organic carbon (TOC) content of the effluent water from the
RSCW process was analyzed using a TOC analyzer (TOC-Vcsy, Shimadzu). Before the TOC
measurement, the effluent sample was diluted appropriately to obtain values within the
measuring range of the apparatus. The water content of the methanol was determined by Karl
Fischer-titration. The composition of the organics in the liquid phase after the methanol
synthesis reactor was determined with a GC (HP 5890 series Il) equipped with a flame ionization
detector (FID) over a Restek RTX-1701 column (L = 60 m, /D = 0.25 mm) coupled with a mass
spectrometer (MS, HP 5972 series). The FID was used for the quantification of the components
and the MS for the identification of the components. The FID was calibrated for the main
constituents of the organic fraction: methanol, ethanol, 1-propanol, 2-propanol, 1-butanol, 2-
butanol, 1-pentanol, 2-methyl-1-propanol, and 2-methyl-1-butanol.

7.3.4 Experimental program for experiments in the integrated setup

A total of 9 experiments were performed aiming at increasing the methanol yield. An overview
of the experiments is presented in Table 7.1 and a short resume is given below. The first 2
experiments were conducted using the LPS without recycling the effluent water. Part of the gas
produced is lost as it dissolves in the water that leaves the process. In the second experiment
external H, is added between the reformer section and the methanol synthesis reactors. As H, is
the limiting component the Sy of the gas can be improved and thus the carbon conversion to
methanol.

In exp. 3 — 6 the effluent water from the reformer is recycled after the HPS. Operating with a
recycle stream at high pressure in RSCW is a unique feature. As a consequence of the recycle
stream no gas is lost in the reformer section through the LPS and additionally, the water
consumption of the process can be reduced significantly. In these experiments the glycerol
reforming is carried out catalytically by using a CH; reforming catalyst (Ni/CaO-6Al,03) in
combination with higher temperatures. All C,, hydrocarbons can be reformed and the CH4
equilibrium concentration decreases (with higher temperatures) yielding a more favorable gas
composition [24].

Finally, in exp. 6 an extra methanol synthesis packed bed (P1) is added to achieve equilibrium
gas phase conditions at the outlet and the methanol section now consists of 3 packed bed
reactors (P1 — P3) in series. The 3 packed beds were operated at different temperatures, viz. +
518 K (P1), £ 503 K (P2), and 481 — 482 K (P3). The reaction rate in methanol synthesis depends
strongly on temperature. Higher temperatures lead to higher reaction rates. In the first packed
bed (P1) the reaction rate will be relatively high while the second (P2) and third (P3) are used to
achieve equilibrium.
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Table 7.1 Overview of experiments in the integrated unit.

Exp. Catalyst (g) Recycle  Catalyst(g) Remarks
R3 R4 R5 P1 P2 P3
1 - - - - - 50 51 -
2a/2b - - - - - 50 51 H, added after reformer section
3a/3b 10 10 3 4 - 50 51 Ni/Ca0-6Al,0; used in reformer section
4 10 10 3 4 - 50 51 Ni/Ca0-6Al,0; used in reformer section
5 10 10 3 4 - 50 51 Ni/Ca0-6Al,0; used in reformer section
6-1 10 10 3 4 51 50 51 Ni/Ca0-6Al,0; used in reformer, P1-P3 at different T
6-2° 10 10 3 4 51 50 51 Ni/CaO-6Al,0; used in reformer, P1-P3 at different T

®The catalyst in the reformer was replaced by fresh catalyst.

7.3.5 Definitions

The conversion of glycerol to gas (&yy) in the reformer is defined as the difference between the
molar carbon flow of glycerol in the feed and the molar carbon flow of the effluent (¢cgqy -
Pc.efruent) Over the molar carbon flow of glycerol in the feed (¢ gy ):

é/gly _ ¢C,gly _¢C,efﬂuent .100% (EC| 7.4)

C.gly

The overall carbon conversion to methanol ({¢) in the integrated unit is the molar carbon flow in
methanol (@ meon) over the molar carbon flow of glycerol in the feed.

§c=¢C’M—eOH-100% (Eq. 7.5)

C.gly

The methanol yield (7) is the mass flow of methanol (@veon) produced over the mass flow of
glycerol (¢y,) fed.

¢MeOH
_ (Eq. 7.6)
7 ¢eg

The conversion of gas component i ({;) in methanol synthesis is defined as the molar conversion
rate (@in - o) over the molar flow of component i (¢,) originally present after glycerol
reforming.

=P =har 1000 (Eq. 7.7)

1,in

143



Chapter 7

The energetic efficiency (higher heating value, HHV) is defined as:

HHVM OH
Moy = ——YeOH . 1. 100% (Eq. 7.8)
HHVeg
7.4 Results

For the experiments, process conditions were varied, the use of a catalyst in the reformer
section was evaluated, recycle of the liquid effluent of the HPS was assessed, and the addition
of external H, was investigated with the primary objective to achieve high methanol yields. This
requires proper operating conditions for each reactor section (reformer, methanol synthesis) to
limit byproduct formation (e.g. CHg4, higher hydrocarbons, and HA) and to allow operation at
high equilibrium conversions in methanol synthesis. An overview of the experiments is
presented in Table 7.1. In this section, both the results for the overall integrated process will be
discussed as well as the results for the reformer section in these experiments. Typical run times
for the experiments were 6 — 10 h and steady state was reached in approximately 2 h.

7.4.1 Reformer performance

Typical conditions for the reformer section (see Fig. 7.2) were 24 — 27 MPa and 948 — 998 K. At
these conditions the residence times of the reformer section (R1 — R5) were in the range of 30 —
35 s. The composition and quantity of the off gas were analyzed to determine the carbon
balance. The hydrocarbon concentration in the off gas is the summation of the concentrations
of CH4 and C,Hg. The glycerol conversion was determined based on the quantity of carbon in the
effluent water (see Eq. 7.4). The main results of the glycerol reformer section are summarized in
Table 7.2. The locations given in the last row of the table correspond to the position in the
experimental setup where the parameters were measured, marked with bold capital letters in
Fig. 7.2.

Carbon balance closure for the reformer is very satisfactorily and was between 95 and 104%.
The glycerol conversion was almost complete for all experiments, which is in line with Chapter 2
and 3. Syngas composed of: H,/CO/CO,/CiH, = 44 — 67/1 — 21/16 — 34/2 — 18 vol% was
obtained. The results for each experiment will be discussed separately in the following section.
Exp. 1 is selected as base case and the results of the other experiments will be compared to this
experiment.

Base case

Exp. 1 was conducted with a glycerol feed concentration of 10 wt%. The setup was operated
without a catalyst in the reformer section and in a once-through mode. Part of the gas (ca. 13%)
dissolves in the effluent stream from the LPS (see Fig. 7.2) and is not used for the subsequent
methanol synthesis. The product gas has a relatively low Sy value of 0.74, which is mainly
caused by the formation of hydrocarbons (18.1 vol% with approximately % CH4 and % C, Hg).
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Exp.2—-6

Exp. 2 was conducted at the same conditions as the base case. The only difference is that
approximately 100 NL/h of external H, was added to the syngas after the reformer section. The
gas composition, given in Table 7.2, is the gas composition of the reformer gas including the
additional H,. The Sy of the gas increased to 2.66. The ratio between CO, CO,, and CH4 changed
slightly in comparison with the base case, which can be due to the H, addition or some
scattering in the experimental data. The hydrocarbon concentration is still high and the gas flow
has almost doubled.

Table 7.2 Reforming results (before methanol synthesis).

Exp. P Trs Py Feed ¢, H, co Cco, CH, Sy Caly Coal
(MPa) (K}  (g/h)  (wt%) (NL/h)  (vol%) (vol%) (vol%) (vol%)  (-) (%) (%)
1 HPS 97 443 212 165 181 0.74 ,
27 948 106  10.4 96.2° 958
1 LPS 14 219 84 620 7.7 -
2 HPS 191 673 102 110 116 266 .
. 27 948 112 104 95.0° 102.7
2 LPS 11 151 4.4 749 55 -
3 HPS 24 998 97 +10 151 549 1.6 325 110 066 99.9° 971
4 HPS 24 998 35 +4 65 59.4 1.1 335 6.0 0.75 99.9° 103.7
5 HPS 24 998 38 +4 70 614 1.1 321 53 0.88 99.9° 99.0
61 HPS 26 998 34 +3 60 59.7 1.0 322 71 0.83 99.9° 101.1
62 HPS 26 998 35 +4 71 66.4 1.3 300 24 117 99.9° 948
Loc.t A,; B C D,/D,’

®Based on carbon content in the effluent water.

bExperiment conducted in recycle mode. Glycerol conversion is estimated based on previous work [24].
“External H, is co-fed after the reforming process, the composition provided is after H, addition.

le for the HPS gas and D, for the LPS gas.

®Locations where the parameters were measured (see Fig. 7.2).

In exp. 3, a different approach was followed to increase the Sy compared to the base case. To
avoid the addition of external (fossil derived) H,, the hydrocarbon content had to be reduced. A
Ni/Ca0-6Al,03 catalyst was used to reform the higher hydrocarbons and to promote glycerol
decomposition, but besides these two reactions the WGS reaction was promoted as well [24].
The temperature was slightly increased compared to the base case to have a more
advantageous equilibrium composition (less CH,) and the effluent water was recycled at high
pressure. Recycling the effluent water drastically reduces the water consumption of the process
and the recycle flow was adjusted in such a way that the reactor inlet flow was comparable to
the inlet flow in the base case. Compared to the base case no gas was lost through the effluent
stream from the LPS. The gas composition obtained over this catalyst differed substantially from
the base case. The CO concentration was reduced from 21 vol% to 1 — 2 vol% and the
concentration of the hydrocarbons was significantly lower and approached equilibrium (C;Hg =0
vol% and CH4 = 11 vol%). The Sy value was slightly lower than the base case.
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In exp. 4 — 6-1 the glycerol feed concentration was reduced to 4 wt%. The H, and CO;
concentration increased compared to the base case, whereas the CO and hydrocarbon
concentration were lower, resulting in slightly more attractive Sy values of 0.75 — 0.88. The
higher hydrocarbon content increased from exp. 5 to exp. 6-1 which indicated a decrease in the
higher hydrocarbon reforming performance of the catalyst. Therefore, in exp 6.2, a fresh
reforming catalyst was used leading to the lowest hydrocarbon concentration and the highest
H, concentration of all experiments. For instance, C;Hg, which accounted for % of the
hydrocarbon content in the base case, could not be detected in the product gas. The Sy
increased to 1.17 which is close to the theoretical maximum of 1.33 (Eq. 7.2).

7.4.2 Performance of the integrated process

The results for the integrated process, including methanol synthesis, are presented in Table 7.3.
For some experiments methanol synthesis was operated at two different temperatures. These
experiments are marked as e.g. 2a and 2b. The equilibria in methanol synthesis were calculated
with the data from Table 7.2 as input and, if applicable, condensation of methanol was
accounted for in the equilibrium calculations (see Chapter 5). The equilibrium data should be
considered with some care, because the results are based on the assumption of constant gas
composition and gas flow from the reformer section. As for the reforming experiments, all
methanol synthesis experiments have good closures of the carbon balance (93 — 100%),
particularly when regarding the complexity of the integrated process. A detailed summary of the
experimental results of the integrated process is given below. As in section 7.4.1, exp. 1 is
considered as base case and the results of the other experiments are compared to this
experiment.
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Chapter 7

Base case

In exp. 1, the methanol synthesis reactors were operated at 468 K. Hydrocarbons are inert in
methanol synthesis and their concentration increased strongly in the off gas of the methanol
synthesis reactor to over 50 vol%. The H, and CO concentration were 3 and 2 vol%, respectively.
The CO, concentration increased compared to the gas composition from the reformer as mainly
CO was converted to methanol. The gas composition and liquid yield at the exit of the methanol
reactor were close to equilibrium, with the liquid yield slightly lower and experimental
conversion slightly higher than equilibrium. The overall carbon conversion was 26% which is
equal to a methanol yield of 0.27 kg methanol/kg glycerol. The conversion of 26% is the highest
conversion possible with such a syngas composition.

Exp.2-6

In exp. 2 the Sy was increased by the addition of external H, and the syngas flow for the
methanol synthesis section doubled. The methanol synthesis was operated at 468 K (exp. 2a)
and 518 K (exp 2b). In exp. 2a the residence time of the packed bed reactor was too short at
these low temperatures to achieve gas phase equilibrium and the carbon conversion and
methanol yield were similar as in the base case. In contrast to the base case, the gas
composition remained far from equilibrium, which is mainly visible in the low conversion of CO,
and the low water content of the liquid product. For this situation the addition of H, is not
recommendable.

In exp. 2b, the reactor temperature was increased to achieve equilibrium and to obtain
higher yields. The carbon conversion became closer to the equilibrium values (¢ = 39% vs. 43%
at equilibrium) and the off gas composition was closer to equilibrium, though equilibrium was
not yet attained. Approximately 81% (equilibrium = 87%) of the carbon oxides present in the gas
phase was converted to methanol and a methanol yield of 0.40 kg methanol/kg glycerol was
obtained, which is significantly higher than the base case, but at the cost of the addition of
external H,.

In exp. 3, the gas composition after reforming is significantly different as for the base case.
Almost all CO is converted to CO,. From the literature, it is known that methanol can be
successfully synthesized solely from CO, [25-28]. Methanol synthesis was operated at 498 K
(exp. 3a) and 518 (exp. 3b). The carbon conversion and methanol yield in exp. 3a were below
equilibrium and similar to the base case, although the composition of the syngas was
completely different. Nonetheless, based on equilibria higher conversions are possible in exp.
3a. Increasing the temperature (exp. 3b) led to higher carbon conversion and methanol yields
(¢ =37 ,m = 0.39 kg methanol/kg glycerol) than the base case. The conversions and yields are
slightly higher than the predicted equilibrium values due to technical issues leading to some
extra methanol release from the system.

To obtain significant higher conversions than the base case, the temperature of the methanol
synthesis reactors was reduced in combination with a reduction of the flow rate and the
hydrocarbon content of the syngas. The latter two targets were realized jointly by reducing the
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feed concentration with a factor of almost 3. In exp. 4, methanol synthesis was operated at 483
K. The carbon conversion and methanol yield were comparable to the base case, but remained
far from equilibrium. A slight increase in the packed bed temperature of 10 K (exp. 5) resulted in
a significant increase in the carbon conversion to 45% (7 = 0.47 kg methanol/kg glycerol), which
is significantly higher than the base case but still below equilibrium. Even though the gas flow to
the packed bed was reduced, the residence time remained too short to achieve equilibrium.

An increase in reactor length (exp. 6-1) and variable operating temperatures of the three
packed bed reactors (P1 — P3 in Fig. 7.2) caused a significant increase in the carbon conversion
to 53% which is equal to a yield of 0.55 kg methanol/kg glycerol. This carbon conversion and
yield are more than double the values of the base case.

7.4.3 Long duration experiment in the integrated unit

In a long duration run (exp. 6-2, 20 h) at the same conditions as exp. 6-1, but using a fresh
reforming catalyst, a considerably lower hydrocarbon concentration in the gas phase after the
reformer was observed. As a consequence the corresponding carbon conversion in the
methanol synthesis unit increased to 60% (7 = 0.62 kg methanol/kg glycerol). Nevertheless,
even higher methanol yields are possible as equilibria were not yet achieved. In the first 4 h of
the long duration experiment, only the reformer section was operated. Methanol synthesis was
carried out over a 16 h period and the hourly liquid methanol yields and volumetric flows at the
exit of the methanol synthesis unit (point G in Fig. 7.2) are shown in Fig. 7.3A.
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Fig. 7.3 Methanol yields from glycerol and volumetric flow at the exit of the methanol reactor of the long
duration experiment (A). Carbon selectivity towards methanol and CH, (B).

Though some scattering in the methanol yield can be noted (due to some pressure fluctuation
and uncontrolled release by the back-pressure valve during the experiment), the integrated
system was running steadily and the methanol yield was more or less constant. The selectivity
(mol carbon in product/mol carbon in glycerol - 100%) is depicted in Fig. 7.3B. An average value
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of 8.7% of the carbon present in glycerol ends up as CH4 and the methanol selectivity is equal to
the carbon conversion and amounts 60% on average. The scattering in the methanol selectivity
is similar to the scattering in the methanol yield in Fig. 7.3A. The selectivity towards CH, is also
more or less constant. It seems that no deactivation or reduced activity for both the reformer
section and the methanol synthesis section were observed during the course of the experiment.

7.4.4 Liquid composition after methanol synthesis reactor

The composition of the liquid product after the methanol synthesis reactor for all experiments is
given in Table 7.4. The liquid phase was analyzed on methanol, water, and the eight most
common HA. In general, the concentration of HA was very low (< 0.23 wt% of the total and <
0.24 wt% of the organic fraction), probably due to the low temperatures of the methanol
synthesis and the high CO, content of the syngas [29]. Ethanol was the most predominant HA,
with a maximum concentration of 1.2 wt%o. Noticeably, when methanol was predominantly
synthesized from CO; (exp. 3 — 6) the concentrations of HA were negligible. This is in agreement
with literature data which show that the concentrations of HA are low when mainly CO, is
converted to methanol and decrease at higher H,/CO ratios in the syngas feed [29, 30].

7.5 Discussion

The experiments conducted in this research study were aimed at obtaining high carbon
conversions and methanol yields when reforming aqueous glycerol solutions to syngas followed
by methanol synthesis. The gas composition after reforming appeared to be the most critical
factor and has a major effect on the final methanol yield. Particularly the formation of
hydrocarbons should be avoided in the reformer section as hydrocarbons are inert in the
subsequent methanol synthesis. Therefore, hydrocarbon reduction was the main objective in
the experimental program and was pursued by the application of catalysts, higher reforming
temperature, and reduction of the feed concentration. Application of a suitable catalyst
(Ni/Ca0-6Al,03) indeed led to a considerable reduction in the amount of hydrocarbons in the
reformer off gas, though as a consequence almost all CO was converted to CO,. Further
research will be required to identify reformer catalysts that promote glycerol decomposition
rates and hydrocarbon reforming, but do not enhance the WGS reaction. In this respect, Ir
based catalysts are promising because of good performance in aqueous phase reforming [31].

The conversion of CO to CO; in the reformer section, as observed when using the Ni/CaO-
6Al,03 catalyst, is not detrimental for the subsequent methanol synthesis. With the commercial
methanol synthesis catalyst used in this study, CO, hydrogenation is possible, as was also
proven here, though the overall reaction rates in methanol synthesis are lower than in case of
CO hydrogenation [28]. An advantage, however, of CO, hydrogenation is the high purity of the
organic fraction, as the formation of HA is suppressed by most probably the presence of water
[32].
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The highest methanol yield (exp. 6.2) was 76% of the theoretical maximum (7 = 0.62 vs. 0.81 kg
methanol/kg glycerol). This experimental value is remarkably high, particularly when
considering that in the calculation of the theoretical maximum, equilibria are not considered
and the formation of reforming products other than H,, CO, and CO, (e.g. hydrocarbons) is
ignored.

Table 7.5 gives an overview of the various types of processes reported in the literature and
an indication of the efficiencies. Direct comparison of the efficiencies is difficult as in most cases
different assumptions and process units are considered. The efficiencies of study 3 and study 5
(this work) can be compared directly as they consider only the HHV of the product and the feed
without energy consumption or production. The 7y in this work is clearly higher. For study 1
and study 2, also (part of) the energy consumption of the process is taken into account resulting
in lower efficiencies and vyields [33]. As such, direct comparison with our process is
cumbersome. Major assumptions were made to calculate the yield and efficiency for study 4
and this value should be considered purely as indicative [34]. The 7uny in study 5 (this work) is
about a factor 2 higher.

The main challenges for subsequent process research and development studies on the
integrated concept proposed in this chapter are to be found in the reformer section. Process
improvements involve heat integration, reduction of operating temperatures in the reformer
section and the usage of higher glycerol feed, without lowering the quality of the syngas.

7.6 Conclusion

A successful experimental demonstration of glycerol conversion to methanol was shown by the
integration of two processes. Glycerol was reformed in supercritical water to syngas and the
syngas was subsequently converted to methanol. The continuous setup was modified during the
experimental program to increase the methanol yields. The effluent water of the reformer
section was recycled at high pressure, to reduce the water consumption of the process. The
highest methanol yield of 0.62 kg methanol/kg glycerol was obtained using a methanation
catalyst in the reformer section and recycling of the effluent water. Glycerol was converted to
mainly H, and CO, and smaller amounts of CH; and CO. In the most successful experiment, 60%
of the carbon present in the glycerol ends up in methanol. These vyields are close to the
equilibrium yields and higher than experimental and case studies reported in the literature. The
integrated setup was operated smoothly for more than 16 h without catalyst deactivation.
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8 Perspective, outlook, and conclusions

An overview of the Supermethanol project and parts of this chapter are published as: J.G. van
Bennekom, R.H. Venderbosch, H.J. Heeres, Biomethanol from glycerol, in: Biofuel, Z. Fang (Ed.), Intech
Open, (2012).

8.1 Introduction

Biomass is the only renewable feedstock to produce chemicals and fuels. That makes the topic
of biomass conversion into fuels or chemicals a very important and growing research area.
Methanol was discovered by the Scottish scientist Robert Boyle in 1661 [1, 2]. He succeeded in
producing methanol from biomass by distillation of wood. Since then the feedstocks for
methanol production changed to fossil resources, but, after the first oil crisis in the 1970s,
methanol production from biomass regained considerable attention. The processes targeted for
biomass conversion into methanol have changed to processes analogous to methanol
production from fossil resources. However, mankind is back to how it all started, methanol from
biomass.

The work described in this dissertation is centered on a European project referred to as
Supermethanol. The intention of this project was to design a blueprint for a process to convert
glycerol into methanol. In this dissertation, the complete process from feed (glycerol) to
products (methanol) was investigated separately, and in an integrated mode. In the following
section the results obtained for the different processes will be discussed and put into
perspective.

8.2 Considerations

In the process of converting glycerol into methanol with syngas as the intermediate product, the
quality of the syngas is an important parameter. The quality is usually determined by the value
of the stoichiometric number (Sy, see Eqg. 1.4). An optimal syngas for methanol synthesis has a
Sy close to 2. Without addition or removal of components to or from the gas phase the
maximum Sy that can be obtained in glycerol reforming is 1.33 (see Chapter 3 and 7). The
conversion of carbon in glycerol or biomass into methanol is limited due to the H, deficiency of
these resources. Effectively, not all carbon in the biomass can be converted to methanol.
However, the syngas can be used as such, or after some conditioning steps.
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8.3 Glycerol reforming in supercritical water

The work described in Chapters 2 and 3 on the reforming in supercritical water (RSCW) of
glycerol was aimed at deriving relations between process conditions, conversions, and gas
compositions/yields. Glycerol decomposes into water-soluble intermediates and these
compounds are subsequently converted into gas phase components. The carbon-to-gas
efficiency (Cgg) for glycerol appeared to be a function of the process severity (combination of
residence time and temperature). Surprisingly, the gas composition is also related to the
glycerol conversion. For our system (without dedicated catalysts), the only relevant gas phase
reaction turned out to be the water-gas shift (WGS) reaction (Eqg. 1.2). In methanol reforming at
similar conditions gas was produced with more or less similar H,/CO/CO, concentrations as in
glycerol reforming, but almost no CH; was found indicating that CH,4 is hardly formed through
gas phase methanation (Eq. 2.2, 2.3). As a consequence, CH4 and higher hydrocarbons are
produced as primary gas phase products. This complicates the picture of producing a syngas
with an attractive Sy.

Generally, the carbon from glycerol ends up in COy and C,H, with a ratio of 2 : 1. All carbon
and hydrogen present as hydrocarbons cannot be converted into methanol without an
additional reforming step or using catalytic reforming.

In catalytic reforming it was observed that the temperature could be reduced significantly
while maintaining high glycerol conversions. For some Ni based catalyst (see Chapter 3),
complete glycerol conversion to gas was obtained at operating temperatures as low as 700 K.
For some catalysts coke formation was observed, but the amount was hard to quantify and long
duration runs were not performed to determine the influence of coke formation on the catalyst
activity and pressure build-up.

Ni catalysts strongly promote methanation (see Eq. 2.2). This property is both advantageous
and disadvantageous. As higher hydrocarbons are thermodynamically unstable at the conditions
employed in this work they are all reformed. The CH,4 concentrations will be at their equilibrium
concentration at temperatures exceeding 750 K for our system. All catalysts tested (Pt, Ni(Cu),
Cu, as active metals) promote the WGS reaction and as a result most CO is converted into CO,.
With these catalysts, either a gas rich in CH; and CO, (673 K< T <773 K) or a gas rich in H, and
CO, (T = 873 K) can be obtained, which is attractive when H;, or CH,4 are the desired products,
but not particularly when syngas (H, and CO) is the desired product.

It is possible to produce a gas with a Sy > 1, but then high temperatures (T 2 873 K) and low
feed concentrations ([feed] < 5 wt%) are required (see Chapter 7). The main constituents of
such a gas are H, and CO,. For a more energy efficient process, temperatures need to be
lowered, feed concentrations should be higher and, if the targeted product is syngas,
methanation and the WGS reaction should be suppressed. In this respect, Ir based catalysts hold
promise as in agqueous phase reforming it was found that these catalysts promote C-C scission
and thus glycerol decomposition, but they do not promote methanation and the WGS reaction.
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According to various studies, RSCW is the most efficient conversion technology for wet,
preferably liquid, biomass (see Chapter 1). The process would even be more attractive when the
water consumption can be reduced. In the experiments regarding the integrated setup (Chapter
7) we demonstrated the recycling of water at high pressure. For the experiments with effluent
water recycle the setup was filled with water at start-up and during operation only the water
required for the water-gas shift reaction was added. Recycling effluent water reduces the water
consumption considerably, but is only possible when components, such as salts, than can build-
up in the recycle stream, are absent.

The salts present in glycerol remain an issue in RSCW. Crude glycerin can be reformed to gas,
but without prior salt removal, reactor plugging will take place sooner or later. The setup (Konti
Il) operated by the group of Vogel and the Verena pilot plant by the group of Kruse employ salt
separation and successful reforming of biomass containing salts was reported [3, 4]. Salt
separation, however, is never complete and some salts will enter the reactor [5, 6]. When
operating with water recycling at high pressure the salts may accumulate in our system.

In conclusion, the gas compositions obtained in glycerol reforming are not particularly
attractive for methanol synthesis, due to H, deficiency. However, when such a syngas is mixed
with a syngas obtained in CH; steam reforming, a much more attractive gas mixture is
produced. The reforming studies provided valuable insight in glycerol decomposition into gas
phase products and steer opportunities of the gas composition towards products rich in H,, rich
in CH4, or a more syngas-like gas and reducing the water consumption of the system.

8.4 Methanol synthesis

Methanol synthesis was investigated for a wide range of syngas compositions, either model
gases or gases derived from glycerol RSCW. Basically, all extremes were investigated. The most
striking result in the methanol synthesis was the in situ formation of a liquid phase at 473 K and
20.0 MPa in a unique view cell reactor (see Chapter 4). Although condensation was predicted
based on indirect experimental evidence, it has never been shown before.

Condensation of methanol has serious consequences for methanol synthesis as the reaction
products are withdrawn from the gas phase and consequently the equilibrium is shifted towards
the reaction products. In such a situation almost complete conversion of the limiting
components is obtained as was demonstrated experimentally (see Chapter 5 and 6). When
complete conversion of the limiting component is obtained recycle streams, which are common
for conventional methanol synthesis, can be omitted leading to reduced reactor volumes.
However, due to the higher pressure the wall thickness of the reactors should be increased,
leading to higher investment costs. Furthermore, it would be very interesting to have a
calculation in which the operating costs of low pressure methanol synthesis including gas
recycle are compared to high pressure methanol synthesis without recycle, both processes
starting with syngas at atmospheric pressure. For the time being such a calculation for the high
pressure process requires too many assumptions to arrive at an accurate estimation.
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One of the reasons to abandon the high pressure methanol synthesis process in the 1960s (see
Chapter 1 and 4) is the energy cost of syngas compression. In the GtM-concept the costs of
syngas compression are negligible as the high pressure syngas is produced by pressurizing a
liquid through pumping.

Considering the importance of in situ condensation a separate chapter (Chapter 5) was
dedicated to the development of a theoretical model to be able to predict the equilibrium
conversion when condensation occurs. The predictions of the model are good, in particular at
lower temperatures, while at higher temperature the predictions are less accurate as different
phenomena start playing a role. A considerable amount of higher alcohols can be formed even
with highly selective methanol catalysts, the exact amount depending on the syngas
composition.

For reactor design and equipment size estimation, kinetics of the chemical reactions involved
in methanol synthesis have to be known. For low pressure methanol synthesis more than 10
different kinetic equations can be found in the literature (see Appendix C). However, kinetic
equations in the high pressure regime are not available. In Appendix C kinetics are derived for
high pressure methanol synthesis. The accuracy of the data set is not fully satisfactorily, due to
the experimental conditions (high pressure in combination with low temperature). Therefore a
rough kinetic model was derived. When this model was compared to low pressure kinetics the
methanol synthesis reaction rates turn out to be significantly higher at high pressure. In
designing reactors, higher reaction rates will, in general, reduce the reactor volume. In practice,
when reaction rates are higher the cooling duty needs to be sufficient to prevent overheating
and to keep the system at conditions at which condensation would occur. The reaction rates,
determined in Appendix C, do not include the formation of a liquid. Measuring these reaction
rates and designing a reactor for such a process is very complex and can be a topic of a
complete Ph.D. research study. These design calculations should confirm if high pressure
methanol synthesis remains attractive when gas compression is included. If that would be the
case, high pressure methanol synthesis might become interesting again from an industrial point
of view without the coupling with a RSCW process.

8.5 Applicability of the Supermethanol concept

In Chapter 7 a proof of principle is presented for the production of methanol from glycerol. The
functionality of the system is demonstrated during a run of more than 16 h and the methanol
yield is 0.62 kg methanol/kg glycerol. The highest methanol yields are obtained when the
glycerol is catalytically reformed at high temperature to mainly H, and CO,, which are
subsequently converted into methanol. In addition, the recycling of effluent water at high
pressure is demonstrated.

Uhde High Pressure Technology designed the Glycerol-to-Methanol (GtM) unit and an
incomplete simplified schematic flow sheet is given in Fig. 8.1. In the configuration depicted in
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Fig. 8.1, the effluent water of the reforming reactor (R1) is recycled. Heat integration is only
taken into account in one heat exchanger (HE2) and one reactor (R2).

Glycerol and water are fed independently through pumps (P1 and P2 respectively). The
glycerol is preheated to decrease the viscosity and increase pumpability. In a heat exchanger
(HE1) the glycerol is heated before it enters separator S1. Here, the glycerol is evaporated and a
brine composed of concentrated salts leaves the separator. The desalination unit is not proven
technology at the moment and its functionality cannot be ascertained, but it is a critical unit
operation in the process. The desalinated glycerol (still containing small amounts of salts) is
injected in a preheated water stream, before the glycerol/water mixture enters the reformer
(R1). Glycerol is reformed in the reactor and a gas is produced. The reactor effluent is cooled
using a counter current heat exchanger (HE2) to heat up the mixture of fresh and recycle water.
The mixture of gas and water is cooled further in a heat exchanger (HE3) and separated in a high
pressure separator (S2). The gas is fed to the methanol synthesis unit. Part of the water stream
leaving the high pressure separator is purged to prevent build-up of salts. The rest is recycled
through pump (P3), mixed with fresh water, and heated in the heat exchanger (HE2).
Subsequently fresh glycerol is injected in the stream.

|:IR1 ’ CHj rich gas
A
Glycerol S1 R2
— @ o
H1 P1 HE1 —
L1
S3 S4
_ HE4
Brine L3 L4
Water \/ _— O
[ A
o W / o
HE2
P2 - g e >
e/ | Methanol
HE3
L2 .
— Glycerol —— Methanol rich stream
— Water —— CHg rich stream
(5¢) —— Water+gas CO; rich stream
pe4 — Syngas —— Brine
P3 — Glycerol+water
Purge

Fig. 8.1 Schematic flow sheet of the GtM-concept designed by Uhde without heat integration except for
heat exchanger HE2 and reactor R2. L = level controller, H = heater, HE = heat exchanger, P = pump, R =
reactor, S = separator.

The syngas leaving the separator (S2) is heated and fed to a packed bed methanol synthesis
reactor (R2). Methanol synthesis takes place and heat is withdrawn from the system. The gas
mixture including methanol is cooled in a heat exchanger (HE4). In a separator (S3) a gas stream
rich in CH, is separated from the methanol stream. Then, the methanol stream is depressurized
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and separated (S4) in a CO,-rich stream and a stream containing all condensables (mainly
methanol). Methanol purification is not considered.
The capital expenditures (CAPEX) costs were calculated by Uhde for 3 configurations:

» Case A: Unit (feed: 1.0 t/h glycerol, product: 0.23 t/h methanol) with 30% conversion per
pass including ash removal. Crude glycerin as raw material. RSCW part of the unit
constructed from Inconel 617. CAPEX = 24 M€.

» Case B: Case A + external H; to increase the conversion (feed: 1.0 t/h glycerol, product:
0.31 t/h methanol). CAPEX = 30 ME€.

» Case C: Unit (feed: 3.0 t/h glycerol, product: 2.0 t/h methanol) with 100% conversion
without ash removal. RSCW part of the unit constructed from Inconel 617. CAPEX = 26
ME.

The CAPEX costs are rather high, which is mainly caused by the reforming section covering more
than 80% of the investment costs. Due to the severe conditions expensive alloys and large tube
thicknesses are required. In Case C, the most attractive situation, the production costs per ton
methanol are in an optimistic estimation around 550 to 750 €/t, while Acciona (the biodiesel
producers involved in the project) paid an average of 350 €/t for their methanol from 2006 —
2011. In this calculation, pure glycerol is used as feedstock and estimated to be available on-site
for 100 to 300 €/t, the depreciation time is 20 y, and no costs are calculated for waste water
treatment and methanol purification.

When glycerol-derived methanol is used as fuel additive higher prices can be charged for the
methanol, as it qualifies as second generation (2G) biofuel. Under current legislation so-called
‘double counting’ is applicable when glycerol is used as feedstock for 2G biofuel production. Just
recently (October 2012), the European Commission proposed that 2G fuels made from certain
feedstocks, including glycerol, shall be considered to be counted four times their energy
content. This means that if, for example, 5% (energy content) blending with biofuels is required
only 2.5% (and in future maybe 1.25%) of glycerol-derived methanol needs to be added on an
energy basis. The remainder of the blending material can then be ordinary (cheaper) petrol. The
‘multiple-counting’ mechanism allows higher prices to be charged for green methanol.
Furthermore carbon credits can influence the process economics positively. These support
mechanisms put the opportunities of the process proposed in this dissertation in a more
positive perspective.

8.6 Applications beyond Supermethanol

RSCW of glycerol or biomass is shown to be a versatile technique to produce renewable gas. Gas
rich in CHy (+ CO,), rich in H, (+ CO,), or a syngas can be produced. The gases require cleaning,
which can be done by absorption in water or aqueous ethanolamine, pressure swing adsorption,
or in case of H, membrane filtration (Pd-membranes). The CH,4 can finally be used as green gas,
while the H, can be stored at high pressure without or with limited additional compression.
Then the H, can be used for fuel cells or other processes that require H,. An example of such a
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process is ammonia synthesis which requires H; at high pressure and for which compression can
be avoided when RSCW is used.

All chemicals that are produced nowadays from syngas from fossil resources can be produced
from renewable syngas, although the syngas may require (more) conditioning. For products as
methanol, higher alcohols, and Fischer-Tropsch (FT) diesel Sy values of around 2 are needed
from a stoichiometric point of view. The Sy value of syngas from glycerol reforming is relatively
low for these kinds of applications, but can still be used. For dimethyl ether (DME) usually H, to
CO ratios of 1 are used. In FT, Fe based catalyst can also cope with Sy’s < 2 [7]. If a certain type
of Fe based catalysts is used the composition of the FT liquids can be tuned to low olefins which
can be used as feedstock for biobased plastics [8]. Sasol announced that the company starts
research to produce synthetic fuel from biomass [9]. That means that even large industrial
players have become aware of the potential of biomass. To the author’s knowledge, FT at high
pressure (> 20.0 MPa) has never been investigated and it is unclear if operating at high pressure
is advantageous and profitable.

In higher alcohols synthesis (HAS), Sy values around 1 are preferred (see also Chapter 6) [10].
When methanol was synthesized from a gas with a Sy of 1.1 up to 14 wt% of the liquid product
consisted of higher alcohols, despite the fact that a dedicated methanol synthesis catalyst was
used which is supposed to suppress the formation of higher alcohols. It might be expected that
over dedicated catalysts for HAS higher yields can be obtained. HAS from biomass has thus
potential and further research is justified.

Pyrolysis is expected to be one of the key technologies to produce biobased fuels and
chemicals [11]. Pyrolysis oil (PO) can be directly fired or upgraded for the production of
chemicals or fuels. During the upgrading process the PO is treated with H, at high pressure (20
MPa) and separates into a dark organic phase (sugar derivatives) and an aqueous phase
containing smaller organic molecules. RSCW of the aqueous phase can supply (part of) the H,
for the upgrading of the PO. It is unclear whether pure H, is required for the upgrading or that
also mixtures containing H,, CO, CO,, and CH, can be used. The remaining combustible
components can be used to produce heat for the RSCW process. The combination of PO
upgrading combined with in situ H, production is in its infancy and investigated for the first time
in the GAP project (BTG, University of Groningen, Albemarle), which runs from 2010 — 2013.

Finally, methanol synthesis as ‘sequestration’ opportunity for CO, is an interesting topic. An
extensive review of the state of the art of this topic using CO, and water as a resource for
syngas was published in 2011 [12]. According to this article the most promising route for syngas
production was the electrolysis of H,0 and CO, in a solid oxide cell to produce a mixture of CO
and H,. The first commercial plant for methanol synthesis from CO, and H, has been erected by
Carbon Recycling International (CRI) in Iceland [13]. The results obtained in this dissertation on
methanol synthesis from H, and CO, can contribute to the development of improved versions of
this process.
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Appendix A
Physical properties and k; for the equilibrium model

Table A.1 Critical properties, acentric factors, and polarity correction factors for the components
involved in methanol synthesis.

Property CO Co, Methanol H, Water CH,
P. (MPa) 3.494 7.374 8.097 1.293 22.064 4.599
T, (K) 132.85 304.12 512.64 32.98 647.14  190.56
() 0.045 0.225 0.565 -0.217  0.344 0.011
p(-) 0 0 0.2359 0 0.1277 ©

The thermodynamic properties are taken from [1] and the polarity corrections from [2].

Table A.2 Binary interaction parameters (k;) for the modified SRK equation of state.

Component CO Cco, Methanol H, Water CH,
co - 0.1164 -0.37 -0.0007 -0.474 0.0204
CO, 0.1164 - 0.10 0.1164 0.30 0.0956
Methanol -0.37 0.10 - -0.125 -0.075 0.046
H, -0.0007 0.1164 -0.125 - -0.745 0.001
Water -0.474 0.30 -0.075 -0.745 - 0.014
CH,4 0.0204 0.0956 0.046 0.001 0.014 -

The binary interaction parameters for methanol + water, methanol + CO/CO,/H,/CH,, and water + CO/CO,/H,/CH,
are determined from experimental data. The other binary interaction parameters are taken from the Aspen Hysys
database.

A.1 References

1 B.E. Poling, J.M. Prausnitz, J.P. O'Connel, The properties of gases and liquids, 5 ed., McGraw-Hill,
Singapore, (2007).

2 P.M. Mathias, A versatile equilibrium equation of state, Ind. Eng. Chem. Process Des. Dev., 22 (1983) 385-
391.
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Appendix B
Experimental results of high pressure methanol synthesis in a

packed bed

Chapter 6 is based on a total of 60 experiments, aiming at high conversion (equilibrium). The
results of all these experiments are given in this appendix. The experimental conditions,
conversions (experimental and theoretical equilibria), and balances are given in Table B.1. The
composition of the liquid product is given in Table B.2.
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Appendix C
Kinetics of high pressure methanol synthesis

Abstract

The reaction rates in high pressure methanol synthesis from CO, CO,, and H, were studied in a
continuous spinning basket reactor. The experiments were conducted at pressures between
17.5 and 22.5 MPa and a temperature of 483 K. The experimental data for methanol and water
were modeled using a power law kinetic model extended with an adsorption term for methanol.
The hydrogenation of CO and CO, were taken into account. The kinetic model was derived using
a least squares method. The average error was 15% in the predicted methanol production rate
and 44% in the predicted water production rate. The kinetic model is the first in its sort for high
pressure methanol synthesis over Cu based catalysts from syngases containing CO, CO,, and H,.
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C.1 Introduction

The methanol synthesis process was originally developed by BASF as a high pressure process (15
— 25 MPa) at moderate temperatures (553 — 623 K) [1, 2]. When improved syngas purification
techniques in combination with more active Cu based catalyst were applied, the majority of the
high pressure processes was converted to the low pressure process (5 — 10 MPa, 500 — 570 K)
[2].

From a thermodynamic point of view high pressure and low temperatures are the most
favorable conditions for methanol synthesis (Fig. C.1). However, syngas compression to these
high pressures is very energy intensive. High pressure methanol synthesis becomes interesting
when the syngas compression step can be omitted due to the availability of syngas at high
pressure. This is the case when the syngas is produced by reforming in supercritical water
(RSCW), which is a process suitable to convert wet (preferably liquid) biomass to gas at high
pressure (> 22.1 MPa) [3]. The high pressure in the latter process is obtained by pumping a
liquid instead of gas compression. The envisaged process conditions for this appendix on high
pressure methanol synthesis are pressures between 20 to 25 MPa and a temperature of 483 K
(see Fig. C.1).

100 ””” Supermethanol
C2E00g g s YOy
] TG BASF high pressure
80 4 methanol synthesis
9
< 604
5]
8]
3 25 MPa
P 404
20 MPa
20 15 MPa
7] Conventional low pressure
methanol synthesis 10 MPa
5 MPa
0 —
463 503 543 583 623
T (K)

Fig. C.1 Equilibria in methanol synthesis for different pressures (H,/CO/CO,/CH, = 67/24/4/5 vol%). The
condition ranges for conventional methanol synthesis, BASF’s high pressure methanol synthesis process
and the range envisaged in this study are roughly indicated.

Cu based catalysts are commonly applied in industrial methanol synthesis [4]. However, kinetic
equations for these catalysts are available in the open literature for the low pressure process
only. Kinetics were measured for different catalyst compositions, reactors, syngas compositions,
and process conditions [4-16]. The variation in process conditions is indicated in Fig. C.2. Two
studies were conducted at P £ 1 MPa, while the majority was conducted at 460 K< T <573 K
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Kinetics of high pressure methanol synthesis

and 1.5 MPa < P £ 10 MPa. The difference between the kinetic models are considerable due to
the use of different methanol synthesis mechanisms, rate determining steps (RDS), types and
numbers of active sites, and additional assumptions.

To the authors knowledge kinetic equations for high pressure conditions and low
temperatures have not been reported to date (Fig. C.2). Natta published kinetic data for
methanol synthesis at 30 MPa, but for a Cu/ZnO catalyst on a Cr,05 support [17], and using gas
mixtures composed of solely H, and CO at temperatures exceeding 573 K.

In this appendix a kinetic study on high pressure methanol reaction rates is described. The
experiments were conducted in a continuous spinning basket reactor using a state of the art Cs
doped Cu/ZnO/Al,0O;5 catalyst. The measurements were conducted at 17.5 — 22.5 MPa and a
temperature of 483 K. Kinetic rate equations were obtained by fitting experimental reaction
rates to modified power law kinetic equations. Methanol synthesis from CO and CO,, and the
water-gas-shift (WGS) reaction are considered.

24
18 -
S 12 (6]
=
o [18,10][8114]
6 [13,15]
[11-12]
9]
0 nrp M
433 473 513 553

T (K)

Fig. C.2 Conditions for kinetic studies on methanol synthesis from mixtures of H,, CO, and CO, over Cu
based catalysts. The conditions for the study conducted by Kuznetsov et al. [15] are taken from reference
[4], because they were published in Russian. The locations of the references refer to the average
measurement conditions of the respective study.

C.2 Theory

C.2.1 Reactions and Kkinetic expressions

The synthesis reaction of methanol from syngas involves the hydrogenation of CO (Eq. 1.1), the
(reverse) WGS reaction (Eq. 1.2) and the hydrogenation of CO, (Eg. 1.3). Depending on reaction
conditions and catalysts applied, some of the reactions are very slow and may be ignored.
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[ =CO+2H, = CH;OH AH, =-90.64 ki/mol (Eq. 1.1)
r,=C0,+H, = CO+H,0 A, H, =+41.17 kJ/mol (Eg. 1.2)
[, =CO,+3H, == CH3OH+H,0 A HS, =-49.47 ki/mol (Eq. 1.3)

Kinetic models published in the literature are often based on Langmuir-Hinshelwood-Hougen-
Watson (LHHW) mechanisms, which include adsorption terms of reactants and reaction
products [6, 7, 13, 14]. Due to the limited size of the experimental data set, we have initially
explored the use of power law models including an adsorption term for the reaction products to
describe the experimental production rates. For each reaction (Egs. 1.1 — 1.3) the following
basic kinetic equations were applied:

(o f2 _ftzaoH
1= ncot<1 Nt R (Eq. C.1)
feo™ szz, (1+ Ken,om fCH?,OH + Ko szO)
o, ol
. k R Kee
I’z = Nco 22 Ny, 2 , (Eq. C.Z)
feo,” fi (1+ Kenon fenon +Kiyo szO)
fCoz f"i _M
k il
- (Eq. C.3)

Nco, 3 § MHy 3
fcoz2 fHZZ (1+ Ker,om fCH30H +Ko szo)

The term between brackets is the driving force of the equation. The denominator of the
equation contains the fugacity of the reactants to the power ‘n’ and is part of the power law
model. Because the form of the adsorption term is unclear a simplified term to describe the
adsorption behavior is used in the denominator. The equilibrium constants, Kpjo' derived by

Graaf et al. [7, 18], also given in Chapter 5, are used. The reaction rate constant, k;, is a lumped
parameter consisting of several contributions including among others, the activation energy and
the number of active sites at the catalyst surface.

C.2.2 Parameter estimation
The kinetic model given in Egs. C.1 — C.3 contains 11 parameters (e.g. k1, Nco,1, NH2,1, Kerzon, Kuzo

for Eq. C.1). These parameters need to be estimated from experimental data. The data set
obtained for each experiment is composed of the following variables:

Renon s Rior T+ Py Yoo Yoo, » Yeron s Vi, » Yiror B
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Kinetics of high pressure methanol synthesis

The pressure, temperature, feed flow, and composition of the feed gas (not given above) are
the independent variables, while the methanol and water production rates, volumetric flow rate
of the exit gas and gas composition of the exit gas are the dependent variables.

The fugacity of each component was calculated from the temperature, pressure, and
composition of the mixture. A modification of the Soave-Redlich-Kwong equation of state for
polar components was used [19, 20]. Some of the binary interaction coefficients were fitted to
experimental data close to the operating conditions and the procedure is given in Chapter 5.
The other binary interaction parameters were taken from the Aspen Hysys database and are

provided in Appendix A. The predicted production rates for methanol and water, IQ'CHBOH , IQ'HZO,

were calculated from the kinetic model by supplying the model with the fugacities of the
components in combination with the estimated values for the 11 parameters using the
following equations:

IQICH30H = A1I+ ; (Eq. C.4)
Ryo=Ff+h (Eq. C.5)

The parameters were obtained by minimizing the sum of squared residuals, (SSR), defined as:

N

SSR= Fobj = Z(( IQICH30H - RICH3OH )IZ +WF (éll-bo - RI‘-|ZO )2) (Eq. C.6)

= !

where, N is the number of experiments and WF is a weighing factor. If WF is equal to 1 the
‘weight’ of the term concerning the reaction rate of water is equal to the methanol term. If WF
is equal to 0 the reaction rate of water is not taken into account during the fitting procedure. A
direct search algorithm ‘Isqcurvefit’ was used for parameter estimation. This function uses the
‘trust-region-reflective’ algorithm to minimize the objective function (Egq. C.6). When a set of
optimal parameters was found the variances for the methanol and water production rate are
calculated using:

2

2 1 (p '
= —mzl(Ri ~R )I (Eq. C.7)

The values of the variances are composed of lack of fit of the model proposed and experimental
errors. The average absolute errors in the experiments are calculated using Eq. C.8.

R -R,

L
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The values for the ks and n;;’s should be greater than 0 to have physical meaning. Boundary
conditions were used to obtain positive values for all parameters to be estimated (see Table
C.1). The residuals should be normally distributed with zero mean. Furthermore there should be
no trending effect of any of the experimental parameters. Matlab version 2008b was used for
the fitting procedure.

Table C.1 Boundary conditions for parameter estimation of the 11 parameters. Index j represents the
reaction (Egs. 1.1 —1.3), index i represent the components (CO, CO,, CH;0H, H,, H,0), Inf. = infinite.

Boundary kj ni; K,'
Lower 0 0 0
Upper Inf. 10 Inf.

C.3 Experimental section

C.3.1 Materials

A commercial Cs doped Cu/Zn0O/Al,03 methanol synthesis catalyst was used for all experiments.
Pure gases (CO > 99.955 vol%, CO, > 99.7 vol%, H, > 99.999 vol%) were supplied by Linde Gas
Benelux, The Netherlands. Gas mixtures with predetermined compositions were tailor made in
the setup (see Fig. C.3) using a gas mixing station. The relative deviation in the gas composition
is approximately 3%. The concentration of N, was in any case below 0.5 vol% and is neglected.
The average gas compositions for the kinetic experiments are shown in Table C.2.

Table C.2 Average gas compositions used for the kinetic experiments.

Gas H, co CO, P T Buin
(vol%) (vol%) (vol%) (MPa) (K) (NL/h)
1 68.8 27.9 3.3 17.5-225 483 25-65
2 63.7 22.9 134 17.5-225 483 25-65
3 74.1 19.2 6.7 17.5-225 483 25-65
4 79.7 10.4 9.9 17.5-225 483 25-65
5 89.3 53 54 17.5-225 483 25-65
6 84.4 13.0 2.6 17.5-225 483 25-65
7 86.1 1.2 12.7 17.5-225 483 25-65
8 88.5 0 115 2.5&20.0 486 25-65

C.3.1 Experimental setup

The setup including the gas mixing station used for the kinetic experiments is depicted in Fig.
C.3. Pure gases are connected to the gas-mixing station and by adjusting the respective gas
flows with mass flow controllers (MFC, Brooks) a mixture with the desired composition is
obtained. The gas mixture is collected in a gas storage vessel (V = 0.5 L) before it is pressurized
in a gas booster (Resato) to 30 MPa and stored in a gas storage bomb (V=1 L). The feed flow to
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Kinetics of high pressure methanol synthesis

the spinning basket reactor from the gas storage bomb can be adjusted by an additional MFC
(Brooks). During operation new syngas is prepared constantly with the gas mixing system to
maintain a constant feed flow to the reactor.

The spinning basket reactor is electrically heated and the temperature is controlled by a
thermocouple located close to the spinning basket. It contains a small basket filled with catalyst
(0.1 - 0.3 g). The rotating speed of the spinning basket can be adjusted from 0 to 2000 rpm. The
shaft holding the basket is also equipped with a propeller to increase mixing of the system. The
propeller blades at the bottom are slightly tilted to force the gas flow upwards. Gas is fed from
the top of the reactor, forced top-down through the spinning basket containing the catalyst and
removed from the bottom through a dip tube. The diameter of the spinning basket is 4 mm
smaller than the diameter of the reactor. An inert stainless steel block is placed at the bottom of
the reactor to minimize the dead volume. The gas mixture leaving the reactor can be
depressurized through either back-pressure controller (BPC) 1 or 2. When BPC 1 is used the gas
mixture is cooled in a condenser to trap all condensables (V=0.5L, T= 258 K). The liquid can be
tapped and the remaining gas can be quantified and analyzed using a gas chromatograph (GC).
The other option is that the gas mixture is depressurized through BPC-2. The composition of the
gas flow is then directly analyzed in a GC and quantified. The tubing to the GC is traced and
maintained at 373 K at the minimum to avoid condensation. The latter method is used during
the kinetic experiments. In blank runs without catalyst at elevated temperatures the
composition of the feed was equal to the composition of the off gas confirming the inertness of
the system without catalyst.

gas storage Q
bomb NP
)
T condenser
- - -
t WFC/ ’l\[:n |/J . -_r_l/"
", o to GC
P gas meter
WS -
i{_ - collection 7/ \ methanol +
L > vessel
co e = <. . C water out
e/ ]
[ j_j — -
CO, —
~ gas booster
\MFC/
oH 5L (5 ‘ i to GC
4 - i spinning { gas meter
basket reactor FETETATATEAATEATAAP

Fig. C.3 Schematic representation of the spinning basket setup including the gas mixing station.
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C.3.2 Analyses

The gas mixture was analyzed using a Compact GC (Interscience) with thermal conductivity
detectors. Helium was used as carrier gas. H,, CHs, and CO were analyzed on a molecular sieves
5 A column (L = 5 m), while CO,, H,0, and CH3;OH, were analyze on a Porabond Q column (L = 10
m). The GC was calibrated for H,O and CHsOH by saturating a N, stream with these
components. This was done by flowing a N, feed through wash bottles filled with H,O or CH30H.

C.3.3 Measurements

For a typical measurement approximately 0.1 — 0.3 g of catalyst was used. The catalyst was
activated according to the following program (2 hat 443 K,2 hat 473 K, 2 hat 493K, 3 Nma/kg
cat./h, 0.2 MPa). Every day a fresh batch of catalyst was used. The maximum operating time of
one batch of catalyst was 12 h.

Element balances (C, H, and O) were calculated for all experiments. The maximum deviation
for any element was 3%. The temperature was measured in the spinning basket as close as
possible to the basket. Temperature fluctuations during operation were below 0.6 K. The gas
composition was measured online every 90 s. When 15 consecutive stable measurements were
conducted an experiment was considered to be at steady state.

C.3.4 Measurements of the production rates
The experiments were conducted at steady state conditions and the spinning basket reactor is
assumed to behave as a perfectly mixed CISTR. The reaction rates for methanol and water were
calculated from material balances over the reactor.

Dot P
RCHSOH = Yen,0H \’Nﬁ RT (mol/kg cat./s) (Eg. C.9)
' ¢voff P
R, = v mol/kg cat./s Eq. C.10
mo = Yo~ T or (mol/kg cat./s) (Eq )

where Ri' is the production rate of methanol or water, y; the methanol or water mole fraction,
@, o the volumetric flow rate of the exit gas, w the weight of catalyst, R the universal gas

constant, P the pressure of the exit gas flow, and T the temperature of the exit gas flow. The
production rates in mol/kg cat./s can easily be converted to g/g cat./h which is a more common
unit and used in the results section.

C.4 Results and discussion

C.4.1 General results
Before the kinetic experiments were conducted the presence or absence of external mass and
heat transfer limitations, and the influence of catalyst deactivation were experimentally
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checked. These checks were conducted at 498 — 523 K, which is higher than for the actual
experiments (483 K). If no limitations are observed at these conditions, it is justified to assume
that they can also be ignored for the experiments at lower temperatures.

External mass transfer limitations can be neglected because no changes in methanol
synthesis rates were observed by varying the rotating speed of the stirrer above values of 800
rom (syngas 1 at 523 K for all flow rates). At these conditions the highest production rates for
methanol were observed. The presence of internal mass transfer limitations was checked by
varying the particle size of the catalyst. Besides a pellet (D = 5 mm), three sieve fractions of
crushed catalysts were used: 0.25 - 0.43 mm, 0.8 — 1.0 mm, and 2.5 — 2.8 mm.

In each of these experiments 0.2 g of catalyst was used. The experiments were conducted at
523 K for syngas 1 and an exit flow rate of 130 NL/g cat./h. The production rate of methanol was
> 13 g/g cat./h, while the highest production rate at 483 K was 7.7 g/g cat./h. The results are
shown in Fig. C.4. With decreasing particle size the methanol concentration in the outlet goes
up, but remains more or less equal for the three smaller particle sizes (the value of the
illustrative straight line). It is assumed that internal mass transfer limitations for these particle
sizes are absent and the smallest particle size (0.25 — 0.43 mm) was selected for the kinetic
study.

12.0

9.0 5

6.0

3.0

Methanol concentration (vol%)

0.0 : : : : : ,
0 1 2 3 4
1/d, (1/mm)

Fig. C.4 Methanol concentration in the outlet as a function of the particle size. P =20 MPa, T=523 K,
&0 = + 130 NL/g cat./h, syngas 1: H,/CO/CO, = 68.8/27.9/3.3 vol%. Symbols: experimental data point,
line: horizontal line for illustrative purposes.

In the literature, initial deactivation of methanol synthesis catalysts in the first 0 — 100 h of
operation is reported [21]. In packed bed experiments, the (initial) deactivation as a function of
the operating time was confirmed (see Appendix D). To check whether catalyst deactivation
took place during the kinetic experiments in the spinning basket, an experiment of 12 h (the
maximum operating time of 1 batch of catalyst) was conducted for syngas 1 at 498 K, 19.7 MPa,
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and an exit flow rate 130 NL/g cat./h after reduction of the catalyst. The methanol
concentration in the outlet is given in Fig. C.5.

6.0

e oo A e e e
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[m)

w »
o L&)
1 1
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o
=]

0 I 160 I 260 I 360 I 460 I 560 I 660 I 760

Time (min)
Fig. C.5 Methanol concentration in the outlet as a function of the time on stream. P =20 MPa, T =498 K,
&0 = 130 NL/g cat./h, syngas: H,/CO/CO, = 68.3/27.6/4.1 vol%. Symbols: experimental data point.

At t = 0 the system was at 498 K and feeding started. The pressure was slowly increased to 20.0
MPa. After 180 min the methanol concentration in the exit became stable and remained stable
for the remainder of the operating time, indicating that catalyst deactivation for a 12 h run time
is negligible.

A total of 70 experiments were conducted. All results are tabulated in Section C.8 at the end
of this appendix. In Fig. C.6, some typical results are shown for syngas 5. Here, the production
rate of methanol and water are plotted as a function of the pressure. In the pressure range 17.5
—22.5 MPa the influence of the pressure on the production rates seems marginal and for some
data points, the pressure even has a negative influence on the production rates which could
point to strong adsorption of one of the components. Similar trends were observed for the
other syngas mixtures.
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Fig. C.6 Production rates for methanol and water. T = 483 K, syngas 5: H,/CO/CO, = 89.3/5.3/5.4 vol%.
Symbols: experimental data point.

C.4.2 Parameter estimation

The experimental data was used as input for the kinetic model. The fitting procedure was
conducted as described in Section C.2.2. Initial guess values for the parameters were based on
the model developed by Graaf et al. [7]. Other initial guess values were also tested to check the
convergence of the model and the presence of local minima. The convergence of the
‘Isqcurvefit’ appeared to be satisfactory as guess values for all parameters of 1 resulted in
similar values of the sum of the residuals. After the first parameter estimation all experiments
with errors below 40% in methanol production rate were retained. Finally, 60 measurements
were used in the parameter estimation.

In the parameter estimation it was found that the K};,0 could be excluded from the model. In
the fit, the reaction rate for the WGS reaction was very small and was omitted. In the kinetic
model derived by Graaf et al. with a similar catalyst, the reaction rate of the WGS reaction was
also very small compared to the CO and CO, hydrogenation reaction rates. The final model
contained 7 fit parameters and their values are given in Table C.3. The model contains an
adsorption term for methanol. The kinetic model derived by Natta for high pressure methanol
synthesis kinetics, also contains a methanol adsorption term with a large contribution [17].

A A

The residuals (R'CHSOH —R(':HBOH) and (RHZO —R,on)were checked and no trending effects were

observed. The residuals were normally distributed as a function of all parameters.
Finally, a kinetic model was applied without the adsorption term in the denominator.

However, this model was not used as trending effects were observed in the residuals
distribution as a function of the ¢, .
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Table C.3 Values for the fitted parameters of the kinetic model.

Parameter  Value

ks 4.26:10°
ks 8.77-10°°
Nco,1 1.02
iz 1.59
Ncoz3 0.67
Nizs 1.40
Ketzon 1.14

By filling up the parameters given in Table C.3 in the kinetic equations the following set of

equations is obtained.

f f2 fCH3OH
co 'H,

4.3-10° Ky

CHOH1 — f(:l(g) f|_1|26 (1+1-1ch30H )

3 —
o, 'H,

. 8.8-10°
"

fc+430H szo

Py

CHO0H,3 ~ Th03 = £07 §14
co, 'H,

(1+2.0f 000 )

(Eq. C.11)

(Eq. C.12)

A parity plot of the calculated methanol production rates vs. the predicted production rates

according to Egs. C.11 and C.12 is given in Fig. C.7.

Predicted R, (9/g cat./h)
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7.5 -
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10.0

Fig. C.7 Predicted vs. the experimental production rates for methanol in the kinetic experiments.

184



Kinetics of high pressure methanol synthesis

The average relative error in the model is 15% for the prediction of the methanol synthesis rate.
The relative error in the water concentration is larger (44%). Large errors in water concentration
are common in modelling kinetics for methanol synthesis. This may be caused by difficulties in
the analysis of water and possibly condensation of water after the reactor or in the GC. Graaf et
al. reported the errors for the production rate of methanol and water for their model and
compared these with kinetic models from the literature, see Table C.4 for details. Apparently all
models predict the methanol production rate rather good although different catalysts were
used.

Table C.4 Errors for methanol and water production rates for various kinetic models. All experimental
data, except for the data from this study, were modeled with the model from Graaf et al. [7].

Kinetic model from AR'CHon AR}QZO

(%) (%)
Seyfert and Luft [14] 10.8 100
Villa et al. [13] 12.3 100
Klier et al. [8] 10.0 57
Dybkjaer [6] 14.7 167
Graaf et al. [7] 6.4 24
This study 15.4 44

The prediction of the production rates of methanol is in general satisfactorily, while the water
prediction rates are less accurately predicted. A comparison of experimental and modeled
production rates for some selected experiments with syngas 3 is shown in Fig. C.8. A good fit for
methanol is observed, whereas the fit for water is less satisfactorily.

8 ‘ .
_ = ----R_.. (175MPa) o --—- R, (17.5 MPa)
ﬁ 1 4 —R,,,,(2Q0.0MPa) A ... R, (20.0 MPa)
M
o 64
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S — -
o i -
g 4 . o
© n_—A-

-
c
. i o A
° 24 B e
3 / Boreerme L L it
8 ..-»-,:I—»%:"; ''''''''''
o Pt —roa
-
0 T T T T ¥ T T
0 150 300 450 600

b, o (NL/g cat./n)

Fig. C.8 Production rates for methanol and water for syngas 3 (H,/CO/CO, = 74.1/19.2/6.7 vol%) at
different pressures. The symbols represent the experimental data points. The curves are the calculated
values.
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The experimental methanol production rates measured in this study are high compared to the
production rates from the kinetic model developed by Graaf et al. [7], see Fig. C.9 for details.
The reaction rates from the kinetic model from Graaf et al. need to be multiplied with a factor 3
— 10, depending on the gas composition and process conditions, to obtain comparable reaction
rates. This may be due to differences in catalyst composition and process conditions. Three
measurements were conducted with the catalyst used in this study at a pressure of 2.5 MPa,
which was a typical pressure in the study by Graaf et al. The results are given in Fig. C.9. The
catalyst used in our study is far more active than the earlier version used by Graaf et al. in the
1980s. However, when comparing the lower pressure experimental data (2.5 MPa) and the
modeled data at the high pressure (20 MPa), it is clear that the methanol production rates
within the pressure range of this work are a factor of 2 higher than for 2.5 MPa. Thus, high

pressure methanol synthesis is not only advantageous from a thermodynamic point of view but
also has clear kinetic advantages.

5
A This work
m 25MPa
This work
- 4. - . Graaf et al
£
™
o 34
o
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2 2 .
I | |
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- O
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0 50 100 150 200 250 300

¢, o (NL/g cat./h)

Fig. C.9 Comparison in production rates between the kinetic model proposed here and the model from
Graaf et al. P = 20.0 MPa, T = 483 K. Catalyst sieve fraction 0.8 — 1.0 mm.

C.5 Discussion

The average error in the methanol and water production rate of respectively 15 and 44% is
larger than for the low pressure models (Table C.4). Possibly these errors can be attributed to
the selection of the kinetic model and experimental error, but other phenomena might play a
role. Some additional experiments were conducted at higher temperatures (498 K and 513 K).
Strange phenomena were observed, as depicted in Fig. C.10, where the methanol concentration
in the gas is presented versus the gas flow. For the lower temperatures an expected decrease in
the methanol concentration is measured, that can be correlated to the reciprocal of the gas
flow indicating a rather constant methanol production rate. However, for the higher
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temperature the concentration in the outlet increases significantly with temperature. The
observations from Fig. C.10 cannot be explained at the moment emphasizing the complexity of
the system.
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Fig. C.10 Methanol concentration as a function of the exit flow for syngas 1. H,/CO/CO, = 68.8/27.9/3.3
vol%. Catalyst sieve fraction 0.25 — 0.43 mm.

Although mass transfer limitations were not found in experimental tests, a theoretical
estimation was carried out. This appeared to be rather difficult as diffusion coefficients of gas
mixtures at high pressure are not known and difficult to estimate. Due to the lack of reliable
data, only few estimation methods exist to correlate high and low pressure diffusion coefficients
[22]. Nevertheless, we made an attempt to conclude whether mass transfer could theoretically
play a role in these experiments. The intraparticle profiles were calculated by modeling a packed
bed reactor on macroscopic scale as well as the scale of the catalyst. Kinetics, heat transfer,
mass transfer, and diffusion coefficients were taken into account. Conditions were selected
close to the experimental conditions applied in this study. Diffusion coefficients were estimated
using the Fuller equation from ref. [22] corrected by the high pressure correction from Riazi and
Whitson also given in ref. [22] and given below:

c

pD H
—AB)O :1.07(—0 (Eq. C.13)

(,0 Ds H

]0.270.28w§(0.050.1w)

With p the density, Dag the diffusion coefficient, u the viscosity, w the accentric factor, P the
pressure, and P. the critical pressure. Two extreme situations were considered, viz. using
diffusion coefficients a factor 5 lower and diffusion coefficients a factor 5 higher than those
calculated. The intraparticle concentration profiles are shown in Fig C.11.
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Fig. C.11 Intraparticle concentration profiles as a function of the normalized radius for two diffusion
coefficients, 1/5 (A) and 5 (B) times the diffusion coefficient by the Fuller equation (corrected by the
Riazi-Whitson relation) [22]. Syngas 1, H,/CO/CO, = 68.8/27.9/3.3 vol%, d, = 0.4 mm, T = 483 K.

Taking the lowest diffusion coefficients (Fig C.11A), a strong concentration gradient for
methanol is calculated, while the concentration gradient almost disappears when the higher
diffusion coefficients are taken (Fig. C.11B). The overall effectiveness factor is defined by:

Ky, (ci,rp -ci,g)

Ri(ci,g )

770vera|l,i -

3 (Eq. C.14)
rp
With 7, the effectiveness factor, kg; the mass transfer coefficient, C the concentration at the

particle surface (Ci’rp) and the bulk (C; ), and Ri(Cigng)the production rate based on the gas

bulk. The effectiveness factors for the various gaseous components are tabulated in Table C.5.
The effectiveness factors and concentration profiles indicate that intraparticle limitations may
be present. Their actual presence depends on the ‘real’ diffusion coefficient.

Table C.5 Overall effectiveness factors for the different components for three situations.

Effectiveness

Effectiveness (D4 as

Effectiveness

Component (1/5 * Dgs) calculated) (5 * Dag)
co 0.92 0.98 1.00
Co, 0.71 0.91 0.98
CH5;OH 0.90 0.97 0.99
H, 0.89 0.97 0.99
H,0 0.71 0.91 0.98

In addition condensation of methanol and/or water inside the catalyst particle (at perhaps high
local concentrations) cannot be fully neglected.
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In conclusion, the kinetics derived in this appendix are a good starting point in exploring
reaction rates in high pressure methanol synthesis. However, more experimental work is
required to fully understand all the phenomena taking place and to be able to derive a more
accurate and extended kinetic model for high pressure methanol synthesis.

C.6 Conclusion

The reaction rates for high pressure methanol synthesis from CO, CO,, and H, were studied in a
continuous spinning basket reactor. The experiments were conducted at pressures between
17.5 and 22.5 MPa and a temperature of 483 K. The data were modeled using a power law
model with an adsorption term for methanol. The fit for the methanol production rates is
relatively good, but the deviations for water are larger. An extension of the model to higher
temperatures will be very useful and will be the subject of further studies. These kinetic
equations are the first for high pressure methanol synthesis over Cu based catalysts from
syngases containing CO, CO,, and H, and a good starting point, but more understanding of the
system is required to measure and derive more accurate rate equations.

High pressure methanol synthesis has become promising again as the production rates for
methanol and water measured in this study are higher than expected based on low-pressure
kinetic models extrapolated to high pressures. When a reactor design is made for high pressure
methanol synthesis the reactor volumes can be reduced significantly if heat removal is
appropriate.
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C.7 Nomenclature

3 lehk‘?\“gl‘,l\h:‘pﬁ
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w
WF

Vi
Greek symbols

A
AH,
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Concentration (mol/m?)
Diffusion coefficient (m*/s)
Partial fugacity (Pa)

Objective function

Reaction rate constant

Mass transfer constant (m/s)
Chemical equilibrium constant
Experiment index

Number of parameters to be
estimated

Number of measurements
Pressure (Pa)

Radius (m)

Reaction

Reaction rate (mol/kg cat./s)
Universal gas constant (J/mol/K)
Production rate (mol/kg cat./s) or
(8/g cat./h)

Production rate (mol/m” cat./s)
Variance

Temperature (K)

Sum of squared residuals
Weight catalyst (g or kg)
Weight factor

Mole fraction

Relative error

Reaction enthalpy at standard
conditions (kJ/mol)
Effectiveness factor

Gas flow (NL/h or NL/g cat./h or
m’/s)

Viscosity (Pa's)

Density (kg/m?)

Sum

Superscripts
A

0
n

Subscripts
c

i

in

off

aclS

Abbreviations
cat.

lig.

Indicates calculated value
Indicates standard pressure (0.1 MPa)
Fit parameter

Critical

Component indicator (CO, CO,, CH;0H,
H,, H,0)

Indicates gas flow in

Indicates reaction j (1,2,3)

Gas bulk

Indicates exit gas flow

Particle

Indicates based on partial pressures
Indicates volumetric

Catalyst
Liquid
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C.8 Kinetic data

Table C.6 Experimental data used for the derivation of the kinetic model.

Conditions Exit

Syngas - exp. P T Buoff H, Cco CO, CH;OH H,0 Rengon R0
(MPa)  (K) (NL/g cat./h) (vol%) (vol%) (vol%) (vol%) (vol%) (g/g cat./h)  (g/g cat./h)
1-1 17.2 483.6 116.7 66.48 26.48 4.24 1.58 0.72 2.64 0.67
1-2 17.1 4835 172.8 66.96 27.10 3.75 1.16 0.80 2.87 1.12
1-3 17.5 4835 229.3 67.58 27.45 3.32 0.85 0.65 2.78 1.20
1-4 19.9 4838 146.3 67.53 28.22 2.15 1.10 0.52 2.30 0.61
1-5 19.9 4836 204.7 64.70 31.18 2.57 0.83 0.47 2.44 0.77
1-6 20.0 483.7 270.2 67.12 29.04 2.50 0.71 0.47 2.73 1.02
1-7 22.6 483.7 141.2 67.26 27.72 2.80 1.20 0.61 2.42 0.70
1-8 22.6 483.7 214.7 6743 27.69 3.18 0.92 0.58 2.78 0.97
1-9 22.6 483.7 288.9 67.71 27.75 3.11 0.76 0.53 3.10 1.20
2-1 17.8 483.6 93.7 61.80 2258 13.28 1.57 0.53 2.10 0.40
2-2 17.9 483.6 141.1 61.48 23.18 13.35 1.29 0.56 2.61 0.64
2-3 17.7 483.6 189.2 61.88 23.30 13.08 1.04 0.62 2.81 0.94
2-4 20.2 483.7 120.3 61.68 22.32 13.59 1.61 0.46 2.78 0.44
2-5 20.0 483.7 183.5 61.96 2198 13.88 1.39 0.61 3.63 0.91
2-6 20.1 483.7 268.5 61.68 23.18 13.24 1.09 0.71 4.16 1.53
2-7 22.8 483.7 2534 6242 2299 1299 0.94 0.26 3.39 0.53
2-8 22.7 483.7 376.9 62.23 2298 13.35 0.89 0.29 4.77 0.89
2-9 22.8 483.7 495.6 62.36 23.06 13.29 0.79 0.32 5.59 1.26
3-1 17.3 483.6 144.2 73.00 17.79 6.54 1.60 0.75 3.30 0.87
3-2 17.4 483.6 212.2 72.83 18.63 6.35 1.23 0.84 3.73 1.42
3-3 17.6 483.7 133.5 7198 1693 842 1.41 0.85 2.70 0.91
3-4 17.6 483.6 209.8 72.16 1852 6.94 1.12 0.93 3.37 1.57
3-5 17.7 483.7 286.1 72.69 19.21 6.05 0.90 1.00 3.67 2.30
3-6 19.9 484.0 258.9 72.83 19.47 5.61 1.02 0.77 3.76 1.61
3-7 20.0 4839 388.4 7291 1944 5.92 0.83 0.66 4.59 2.07
3-8 20.0 484.0 527.9 73.30 19.56 5.73 0.69 0.58 5.23 2.47
3-9 22.5 4839 275.0 72.56 19.56 5.85 0.98 0.79 3.84 1.75
3-10 22.5 483.8 408.1 7296 19.48 5.95 0.76 0.67 4.45 2.18
3-11 22.5 483.8 537.1 73.35 19.54 5.76 0.66 0.57 5.03 2.48
4-1 17.6 4835 90.4 78.75 10.32 8.96 1.41 0.45 1.82 0.33
4-2 17.7 483.6 181.6 78.76 1045 9.03 1.22 0.49 3.16 0.72
4-3 17.6 4835 247.3 78.83 10.48 8.95 1.16 0.54 4.10 1.06
4-4 20.3 483.6 189.7 77.29 1142 9.60 1.18 0.47 3.21 0.72
4-5 20.4 483.6 251.6 78.18 10.86 9.30 1.15 0.48 4.13 0.98
4-6 20.3 4835 213.9 78.35 10.50 9.35 1.10 0.54 3.37 0.92
4-7 20.5 4835 323.9 78.48 10.48 945 0.96 0.56 4.42 1.45
4-8 20.5 483.6 471.2 78.67 1045 9.37 0.86 0.59 5.80 2.22
4-9 22.5 4836 121.9 78.78 10.68 9.01 1.09 0.42 1.89 0.41
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Continuation of Table C.6.

Conditions Exit
Syngas -exp. P T D.off H, co CO, CH;0H H,0 Rengon Rio0
(MPa)  (K) (NL/g cat./h) (vol%) (vol%) (vol%) (vol%) (vol%) (g/g cat./h)  (g/g cat./h)
4-10 22.4 483.6 183.5 78.78 10.58 9.07 1.13 0.42 2.96 0.61
4-11 22.4 483.6 2443 78.89 10.53 8.98 1.14 0.45 3.96 0.87
5-1 175 4834 114.3 87.44 5.19 5.25 1.18 0.31 1.93 0.28
5-2 175 4834 172.8 87.64 5.20 5.20 1.17 0.40 2.89 0.56
5-3 175 4834 232.8 88.41 5.23 4.80 0.93 0.46 3.09 0.86
5-4 20.2 483.8 130.6 88.10 5.23 4.77 1.02 0.47 1.90 0.49
5-5 20.3 483.7 202.1 8791 5.21 5.10 1.03 0.45 2.98 0.73
5-6 20.5 483.7 272.3 88.12 5.21 498 1.00 0.47 3.88 1.02
5-7 22.6 483.8 132.8 88.47 5.23 4.74 0.92 0.47 1.74 0.50
5-8 22.6 483.8 195.3 88.64 5.27 4.58 0.96 0.45 2.69 0.71
5-9 22.8 483.8 264.6 88.49 5.22 4.68 0.95 0.45 3.60 0.95
6-1 17.8 483.6 77.3 83.42 1215 1.67 1.98 0.66 2.19 0.41
6-2 17.8 483.6 144.5 83.24 12.77 1.83 1.28 0.82 2.65 0.95
6-3 17.8 483.6 195.1 83.58 12.88 1.88 0.95 0.68 2.64 1.06
6-4 20.0 483.8 144.3 83.07 1244 2.35 1.30 0.74 2.68 0.86
6-5 19.9 483.7 220.8 83.10 12.76 2.18 1.04 0.86 3.30 1.52
6-6 20.0 483.7 296.8 83.41 1294 201 0.81 0.79 3.43 1.89
6-7 22.2 483.7 262.0 83.25 13.27 1.69 1.08 0.68 4.06 1.42
6-8 22.0 483.7 399.7 83.26 13.22 1.83 0.97 0.70 5.57 2.23
6-9 21.9 483.7 527.7 83.68 1329 1.71 0.73 0.57 5.52 241
7-1 17.3 483.6 137.1 84.81 1.32 11.67 1.15 0.94 2.26 1.04
7-2 179 4835 201.8 84.08 1.34 12.53 0.97 1.05 2.80 1.69
7-3 179 4835 270.3 84.66 1.26 12.04 0.97 1.05 3.76 2.27
7-4 20.0 483.6 310.2 86.12 1.24 10.65 1.07 0.89 4.77 2.22
7-5 20.0 483.6 417.4 85.00 1.24 11.80 1.07 0.88 6.39 2.96
7-6 20.0 483.6 537.8 85.04 1.19 11.86 0.98 0.91 7.56 3.95
7-7 22.3 4836 288.7 84.60 1.27 12.12 1.15 0.76 4.73 1.76
7-8 22.2 4836 390.1 84.88 1.23 11.95 1.08 0.81 6.01 2.53
7-9 22.2 4836 510.0 84.88 1.20 11.99 1.01 0.88 7.40 3.62
8-1 19.9 486.5 275.9 87.13 0.18 10.84 1.05 0.80 4.12 1.78
8-2 20.0 486.4 401.9 87.61 0.15 10.52 0.91 0.81 5.26 2.62
8-3 199 486.5 5711 87.80 0.19 10.26 0.94 0.81 7.67 3.73
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Appendix D
Average methanol production rates in a nonisothermal packed
bed

Abstract

Methanol synthesis was investigated in a nonisothermal packed bed reactor at different
temperatures (473 < T < 573 K), pressures (7 < P < 20 MPa), gas hourly space velocities (18-10° <
GHSV < 39:10° m? syngas/m3 cat./h), and using gases with different CO/CO, ratios varying from
0.3 to 5.8. The average methanol production rates increased with increasing pressure,
temperature, and decreasing CO/CO, ratio, provided that the gas composition was far from
equilibrium. When equilibrium was achieved the production rate decreased with increasing
temperature. Catalyst deactivation appeared to play a major role and complicated the
interpretation of the results. The deactivation seemed to level off after 75 h of operating.
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D.1 Introduction

High pressure methanol synthesis is attractive from a thermodynamic and kinetic point of view.
At high pressure the equilibria are on the methanol side [1]. In methanol synthesis in general,
the reaction rates increase with pressure as kinetic equation comprise fugacities of the reacting
component, see e.g. ref. [2]. Experimental data on high pressure methanol synthesis are scarce.
To the authors knowledge, Natta is the only author who derived kinetic equations for high
pressure (20 < P < 30 MPa) methanol synthesis for a Cu/Zn0O/Cr,03 catalyst [3]. Danes et al.
derived an equilibrium model based on Russian results for methanol synthesis at high pressure
(10 — 35 MPa, 573 — 623 K) from stoichiometric gas mixtures of H, and CO slightly impurified
with CO; and H,0.

Reaction rates for syngas comprising solely H, and CO were measured by Brown and Bennet
at 20.7 MPa for temperatures between 573 and 673 K [4]. Methanol synthesis was conducted in
an internally recycled reactor using a commercial ZnO/Cr,03 catalyst. High pressure data over
Cu/Zn0O/Al,03 based catalysts were, to the authors knowledge, only obtained by Kotowski [5].
The experiments for a system containing H,, CO, CO,, and H,0 were conducted at 25 MPa, 493 —
573 K. The results are rather inconclusive as only CO conversions are given. The present authors
investigated high pressure methanol synthesis focusing on equilibrium conversions in the
framework of the Supermethanol project [6].

In this appendix a preliminary research study in a nonisothermal packed bed reactor is
conducted to compare methanol synthesis rates at different pressures, temperatures, gas
hourly space velocities (GHSV), and gas composition.

D.2 Experimental

The model gases used were supplied by Westfalen-AG, Germany. The composition of the model
gases is given in Table D.1. The relative deviation in the gas components is 2%. A commercial
methanol synthesis catalyst (Cs doped Cu/ZnO/Al,03) was used. The catalyst was activated
according to the following program: 2 h at 443 K, 2 hat 473 K, 2 h at 493 K, 10 vol% H; in N5, 3
Nm3/kg cat./h, 0.2 MPa.

Table D.1 Gas composition of the different syngases.

Syngas H, co co, CH, N, Sy' CO/co,
(vol%)  (vol%)  (vol%) (vol%) (vol%) (-) (-)

1 70 5 20 - 5 2.0 0.3

2 69 13 13 5 - 2.2 1.0

3 68 23 4 5 - 2.5 5.8

%S,y (stoichiometric number) is defined in Eq. 1.4.

The setup used here is similar to the setup described extensively in Chapter 5 and 6. However,
instead of 2 packed bed reactors, only 1 packed bed was used. The reactor was heated by a
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Average methanol production rates in a nonisothermal packed bed

heating medium which was flown through a heating jacket surrounding the packed bed. A
schematic representation of the reactor (without the heating jacket) is shown in Fig. D.1.

The catalyst bed was preceded by 10 cm of grid to improve the heating up of the syngas. The
grid particles are approximately 0.5 mm wide and 1 mm long and composed of mainly Si and Cr.
The grid appeared to be inert as no methanol or other products were obtained in blank runs.
The catalyst is mixed with grid with a volumetric ratio of 1:1 to increase heat transfer. The
length of the catalyst bed was approximately 10 cm. In each experiment 4 g of catalyst was
used. A thermowell was positioned in the center of the catalyst bed (see the grayish rod in Fig.
D.1). The temperature was measured at 4 locations at 0.5 cm (T;) before the catalyst bed, and at
3 (T,), 6 (T3), and 9.5 cm (T,4) inside the catalyst bed. During the experiment, the temperature
increased along the length of the catalyst bed, often reaching a maximum at T, or Ts. The
temperature increase could be up to 15 K for syngas 1, 50 K for syngas 2, and 80 K for syngas 3.
The temperature of the heating medium was chosen as the temperature to compare the
methanol production rates, while the temperature of T, (see Fig. D.1) was chosen as the
temperature for the comparison with equilibrium conversions. The particle size of the catalyst
was between 1 and 3 mm. The experiments were performed at: 7< P <20 MPa, 473 < T< 573 K,
18-10° < GHSV < 39-10° Nm? syngas/m? cat./h).

Feed gas in
grid — |
Reactor
| th :‘:‘ =T, (-0.5cm)
eng 3 +0 cm (begin catalyst bed)
5 3
| ;3
%l FT.(3em)
| »
Thermowell - L dl ,‘
' ] OF )
3.3[13.3
Thermocouple —-TS—Tb N -T;(6 cm)
Catalyst ’f)ysij
atalys [ 4
particle ¥ 3 ; 3.3
e iL' 5 ” T, (9.5 cm)
=== F====4 L 10 cm (end catalyst bed)
Vapor out

Fig. D.1 Schematic representation of the reactor. The grey rod in the center of the bed is a thermowell.
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The dry gas composition was analyzed using an online dual-column GC (GC 955, Syntech
Spectras) equipped with thermal conductivity detectors. CO was analyzed over a molecular
sieves 5 A column (L = 1.6 m) with helium as carrier gas. CO, was analyzed on a Chromosorb 102
column (L = 1.6 m) with helium as carrier gas. H, was analyzed on the molecular sieves column
using argon as carrier gas. The water content of the methanol was determined by Karl Fischer-
titration.

The measured average production rate (APRy, g/g cat./h) of methanol is determined with the
following equation:

APR,, = ’73:3‘;“ (Eq. D.1)

With, 77, o 5 the methanol yield in g, w; the weight of catalyst in g, t; time in h. The calculated
average production rate (APR¢, g/g cat./h) of methanol is determined with Eq. D.2.

¢v,in (yCO,in + yCOZ,in) ¢v,oﬁ (yCO,oﬁ + ycoz,off )

V. V,

m,in m,off

APR. = :32.04
W

(Eq. D.2)

With, ¢,; the flow rate in m3/h, y; the mole fraction, V_ ; molar volume (m3/mol) of gas flow in

or gas flow off.

D.3 Results and discussion

A total of 72 experiments were conducted. Average methanol production rates were measured
directly by collecting the liquid produced and determining the methanol content (Eq. D.1), or
calculated indirectly from the CO+CO, conversion (Eq. D.2). A comparison of the two methods of
determining the average production rate is plotted in Fig. D.2. The APR(’s are structurally higher
than the APR)/s due to some evaporation of methanol from the collection vessel and build-up
of methanol in dead volumes. The average deviation between the measured and calculated
production results is more or less constant implying that the relative error in the experiments
decreases at higher production rates.
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Fig. D.2 Calculated average methanol production rates vs. measured average production rates.

The APR,,’s and the q.c02 as a function of the temperature for syngas 1 are shown in Fig. D.3.
Equilibrium conversions were calculated using the model from Chapter 5. The production rates
increase with increasing temperature and pressure. Equilibrium is achieved at the highest
temperature. The measurements at temperatures around 497 K for 7.5 and 15 MPa deviate
from the trend due to deactivation which will be discussed later on.
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Fig. D.3 Measured average methanol production rates (A) and {p.co; (B) as a function of the
temperature for syngas 1. GHSV = 19-10° Nm? syngas/m? cat./h. The symbols are experimental data
points, the dotted lines are trend lines and for indicative purposes only.

In Fig. D.4 the methanol production rates for syngas 1 are plotted as a function of the pressure.

Generally, the production rate increases with increasing pressure. For the highest temperatures
there seems to be a linear trend between the production rate and the pressure. The trends at
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the lower pressures are less clear. As the kinetics derived by Graaf et al. [2] predict more or less
linear trends, linear trend lines were drawn.
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Fig. D.4 Average methanol production rates as a function of the pressure for syngas 1. GHSV = 19-10°

22

Nm? syngas/m? cat./h. The symbols are experimental data points, the dotted lines are trend lines and for

indicative purposes only.

The production rates as a function of the temperature are compared for two different flows for

syngas 2 and shown in Fig. D.5.
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Fig. D.5 Average methanol production rates as a function of the temperature for syngas 2. P = 20 MPa.
The symbols are experimental data points, the dotted lines are trend lines and for indicative purposes

only.
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The production rate increases with increasing temperature, till at 523 K equilibrium is reached
for both gas flows. A further increase in the temperatures leads to a decrease in the production
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rate and conversion. At equilibrium, the exit gas composition is independent of the space
velocity, leading to a higher production rate at the highest space velocity. At the lower
temperatures the production rates at both space velocities are closer, but as a consequence the
conversion in case of the lower space velocity should be lower, which is shown in Fig. D.5B.

The methanol production rates and the conversion for syngas 3 as a function of the pressure
are shown in Fig. D.6. The production rate initially increases with temperature, but already at a
temperature of the heating medium of 497 K equilibrium is reached. At the lowest temperature
the reaction rate increases with increasing pressure as expected. At the higher temperatures,
both the conversion and the production rate decrease according to thermodynamics. The
equilibrium predictions coincide nicely with the decreasing conversions of the experimental
data points. For this gas the trend is different as for gas 1 (see Fig. D.3) as equilibrium is reached
at much lower temperatures (497 K vs. 546 K).

8 100
= 7.5MPa A B
= | v 15MPa 1 A Equi. 20 MPa
= A 20 MPa 80
8 5. a 1 Equi7.5MPa
o ] n Equi. 15 MPa
T n
A 4
(8 v : 3 60
= 4 R S
2 . 8
< [] g 40+
o N
5 2 A
= 20
'8 v
A
e : .
n- 0 B .I T T T 0 T T T T
473 493 513 533 553 473 493 513 533 553
heating medium (K) T4 (K)

Fig. D.6 Average methanol production rates (A) and Co+co2 (B) as a function of the temperature for
syngas 3. GHSV = 37-10° — 39-10° Nm? syngas/m? cat./h The symbols are experimental data points, the
dotted lines are trend lines and for indicative purposes only.

The three syngases under investigation have a similar H, and carbon oxides concentration.
However, the ratio of CO/CO, varies from 0.3 to 5.8. The reaction rate appears to be a strong
function of this ratio. The methanol production rates at a temperature of 497 K of the heating
medium are given in Fig. D.7 and they increase strongly with an increasing CO/CO, ratio. It
should be taken into account that in case of the data point for syngas 3 (CO/CO, = 5.75),
equilibrium is reached in the catalyst bed, but also the highest gas hourly space velocity was
used. Probably even higher production rates per gram of catalyst can be obtained when less
catalyst would have been used. Nevertheless the trend of the figure is clear.
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Fig. D.7 Average methanol production rates (A) and {¢o.c02 cOnversions (B) as a function of the CO/CO,
ratio. Theating medium = 497 K, P =20 MPa. Syngas 1, GHSV = 28-10° Nm® syngas/m?® cat./h; Syngas 2, GHSV =
35-10° Nm? syngas/m?® cat./h; Syngas 3, GHSV = 39-10° Nm® syngas/m? cat./h.

For syngas 1 (CO/CO, = 0.3), two data points are given in Fig. D.7. The data point with the
highest production rate was obtained after 13 h of operation, while the other data point was
obtained after 75 h of operation. Deactivation was observed for all gas mixtures and was
quantified for syngas 1 by repeating a reference experiment (P = 20 MPa, Theating medium = 497 K)
five times. The production rate of methanol as a function of the operating time decreases
significantly and levels off at longer operating times as can be seen in Fig. D.8.
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Fig. D.8 Catalyst deactivation for syngas 1. Operating conditions: Theqting medium = 497 K, P = 20 MPa,
GHSV = 28-10° Nm® syngas/m” cat./h.
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The methanol production rate after 13 h of operating is almost a factor 3 higher than at 75 h. In
the kinetic study (Appendix C) no deactivation for this catalyst was observed during the first 12
h of operation at 498 K. Initial deactivation is a common phenomenon for these kind of catalysts
as Bos et al. found stable catalyst activity after 72 h of operation [7]. In Kung’s extensive review
on deactivation, initial deactivation is attributed to loss in active surface area, but no other
detectable changes were reported [8]. In the experiments conducted in this study, the BET
surface area was measured (see Table D.2). The catalyst was used for approximately 70 h with
syngas 2 and 3. For batch 1 of the spent catalyst the BET surface area was substantial lower than
the surface area of the fresh catalyst. The BET surface area of batch 2 hardly declined although
deactivation was observed during operation. Due to the limited data on catalyst analysis no
conclusion can be drawn on the influence of operating time and syngas composition on the loss
in active surface area.

Table D.2 Surface area of fresh and spent catalyst.

Catalyst Time on stream  Syngas BET area
(h) (m’/g)
Fresh (unreduced) - - 91.3
Spent (batch 1) +70 2/3 39.7
Spent (batch 2) +30 1 87.9

The liquid product of some of the experiments was analyzed on metal content except for Cs (see
Table D.3). The liquid product contained a low concentration of the catalyst materials, which
was not visual in the liquid. No Cr was detected (grid material) in the effluent. Cu seems to be
the most prone to leaching but is also present in the highest amount. Part of the deactivation of
the catalyst can be explained by this leaching. Probably the leaching is enhanced by
condensation in the reactor which is expected for some of the experiments.

Table D.3 Metal content of the liquid products.

Sample Time on stream Syngas Cu Zn Al
(h) (mg/L)  (mg/L)  (mg/L)
1 3 2 53 27 2
2 +10 3 29 11 2
3 +20 3 27 5 2
4 +20 1 14 27 1
Cs content of the liquid product was not analyzed.

The deactivation partly explains the deviations from the trend lines for some data points in Figs.
D.3 and D.4. The deactivation complicated the interpretation of the results presented in Figs.
D.3 — D.7 and makes a quantitative interpretation precarious, however, qualitative trends can
be derived. To prevent the influence of deactivation on the measurements either fresh catalyst
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should be used for every experiment or the activity should be stabilized by operating at least 75
h before the actual measurements start [9].

D.4 Conclusion

Average methanol production rates were measured focusing on high pressures in a
nonisothermal packed bed reactor. The production rate was a strong function of the pressure,
temperature, and gas composition. When operating far from equilibrium, the production rate
increased with increasing temperature, pressure, and CO/CO, ratio. When equilibrium was
achieved the production rate decreased with a further increase in temperature. The data points
at equilibrium coincided nicely with the theoretical equilibria. Deactivation, however, appeared
to play a major role complicating the interpretation and the quantitative analysis of the results.
Deactivation leveled off after 75 h of operation.
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Summary

Biodiesel production has grown exponentially in the first decade of the 21t century. During the
production process about 10 kg of glycerol is formed for every 100 kg of biodiesel. As a
consequence, the development of alternative product outlets for glycerol is high on the
research agenda of companies and research institutes. One of the attractive opportunities is the
production of green methanol from glycerol, which can be reused in the biodiesel production
process. This option has been actively explored within the European Supermethanol project.
The goal of this project is to develop a blueprint for a process to convert glycerol into methanol
which can be implemented and integrated in an existing biodiesel plant. In this dissertation, the
research activities on methanol production from glycerol within the scope of the Supermetha-
nol project are described.

The envisaged Glycerol-to-Methanol (GtM) process consists of a glycerol reforming step in
supercritical water to syngas with subsequent methanol synthesis (Chapter 1). In the reforming
step in supercritical water, a syngas at high pressure (> 20 MPa) is obtained. High pressures are
attractive with respect to the chemical equilibria in methanol synthesis. In combination with a
relatively low temperature (473 — 523 K), high equilibrium conversions are attainable. The
research described in this dissertation focuses on optimizing the reforming of glycerol in
supercritical water and high pressure methanol synthesis addressing among others the
influence of process conditions. Finally, the two processes are integrated for a unique
experimental demonstration of the GtM-process aiming at high methanol yields.

Glycerol reforming in supercritical water, produces a gas mixture containing H,, CO, CO,, CHy,
and higher hydrocarbons (C,Hs, C;Hs, CsHg, and C3Hg). The gas composition is a strong function
of the operating conditions and the presence of a catalyst (Chapter 2). For noncatalytic
reforming and reforming in the presence of alkali salts, the gas composition is a function of the
glycerol conversion and, besides initial glycerol decomposition reactions, the water-gas shift
reaction plays a major role. H,, CO, CH,4, and at least the olefins are primary gas phase products,
while the other components are formed in subsequent gas phase reactions. Complete
conversion of 1 mole glycerol yields roughly 2 moles of carbon oxide (CO and CO,) and 1 mole of
hydrocarbon.

Unfortunately, this gas composition is not very attractive for methanol synthesis as the
hydrocarbon content is rather high (max. 20 vol%). To reduce the hydrocarbon content,
catalytic reforming with dedicated catalysts was investigated (Chapter 3). Five different
catalysts were tested, with different active metals. All catalysts were found to promote the
water-gas shift reaction over the complete temperature range, and for four out of five catalysts
almost all CO was converted to CO,. Catalysts containing Ni demonstrated both beneficial and
adverse properties. All higher hydrocarbons were reformed, but the CH; concentration
approached equilibrium for temperatures exceeding 750 K. Low CH,4 concentrations could only
be obtained by the combination of high temperature and low feed concentrations.
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In preliminary methanol synthesis experiments, the in situ formation of liquid methanol was
demonstrated visually in a high pressure view cell reactor (Chapter 4). In situ condensation of
liguid has never before been demonstrated directly, and this phenomenon has very important
consequences for the equilibria in methanol synthesis. As the products (methanol and water)
are partly withdrawn from the gas phase, the limitations imposed by the chemical equilibria are
almost completely eliminated. To obtain insight into the (positive) influences of condensation
on the equilibria, an equilibrium model was developed accounting for the formation of a liquid
phase (Chapter 5). The experimental data showed excellent correlation with the model
predictions, in particular at the lower temperatures (468 — 523 K). At operating temperatures
around 473 K and a pressure of 20 MPa, unprecedented experimental conversions up to 99.5%
of the limiting components were obtained in a packed bed reactor. Operation at these high
conversion levels has major benefits for methanol synthesis, and for instance eliminates the
syngas recycle stream, which is typically used in conventional methanol synthesis.

High pressure methanol synthesis has been investigated experimentally for several syngas
compositions ranging from gases typically used in commercial methanol synthesis to gases
obtained in the reforming of glycerol in supercritical water (Chapter 6). For all types of gas, high
conversions were observed when using a conventional methanol synthesis catalyst (Cs doped
Cu/Zn0O/Al,03). When CO, is the major carbon oxide in the gas, the purity of the organic fraction
exceeded 99.9%. Gases with higher CO content lead to the formation of substantial amounts of
higher alcohols (max. 13 vol%). Furthermore, methanol production rates have been measured in
a stirred basket reactor. The experimental data were modeled using a standard kinetic
expression for heterogeneous catalysts, and a kinetic equation (the first in its sort) for methanol
synthesis at high pressure and low temperature was derived (Appendix C).

Finally, the GtM-process was demonstrated experimentally in a dedicated continuous bench
scale unit with 1 kg/h aqueous feed (Chapter 7). Glycerol reforming and methanol synthesis
were integrated and experiments were performed to maximize the conversion of carbon in
glycerol to carbon in methanol. The best results were obtained when glycerol was reformed at
998 K using a methanation catalyst (Ni as active metal) in the reforming section. The gas
consisted of mainly H, and CO, while CH, levels remained below 2.4 vol%. Subsequently, the gas
was converted to methanol in three packed bed reactors in series with a decreasing operating
temperature (513 — 481 K). The maximum methanol yield was 0.62 kg methanol/kg glycerol.
This is no less than 76% of the maximum theoretical yield of 0.81 kg methanol/kg glycerol.

A conceptual design was prepared by Uhde, Germany for a commercial GtM-process. In the
current situation (2012), subsidies for renewable methanol are required to make this process
profitable (Chapter 8).

The work performed has been of great value in quantifying the potential for the conversion
of glycerol by reforming in supercritical water, combined with high pressure methanol synthesis.
It identifies key phenomena, experimental results, and conclusions which may provide a firm
basis, or simply inspiration for others who are drawn to this field of investigation.
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Samenvatting

De productie van biodiesel is flink toegenomen in het eerste decennium van de 21°* eeuw. Bij
de productie van 100 kg biodiesel komt ongeveer 10 kg aan glycerol vrij, wat heeft geleid tot
een sterk gestegen glycerol aanbod. Als gevolg daarvan wordt er veel onderzoek verricht naar
het vinden van alternatieve toepassingen voor glycerol. Een aantrekkelijke mogelijkheid is het
omzetten van glycerol naar groene methanol, die hergebruikt kan worden in de productie van
biodiesel. Deze mogelijkheid is in detail onderzocht in het Europese Supermethanolproject. Het
doel van het project was het ontwerpen van een blauwdruk voor een proces waarin glycerol
omgezet wordt naar methanol. In een vervolgstap zou dit proces dan geintegreerd kunnen
worden in een bestaande biodieselfabriek. In dit proefschrift wordt het onderzoek naar de
productie van methanol uit glycerol beschreven, uitgevoerd in het kader van het
Supermethanolproject.

Het ‘Glycerol-to-Methanol’ (GtM) proces bestaat uit een vergassingsstap van glycerol in
superkritisch water naar synthesegas gevolgd door methanolsynthese (Hoofstuk 1). Tijdens het
vergassingsproces wordt een gas op hoge druk (> 20 MPa) geproduceerd. Deze hoge druk is
voordelig voor de methanolsynthese, omdat bij deze condities hoge evenwichtsconversies
gehaald kunnen worden. Het onderzoek heeft zich op zowel de optimalisatie van het vergassen
van glycerol in superkritisch water als de methanolsynthese op hoge druk gericht. De invloed
van de procesomstandigheden op de performance van beide individuele processen is uitgebreid
bestudeerd. In een tweede fase zijn beide processen geintegreerd en gedemonstreerd op
continue schaal.

Bij de vergassing van glycerol wordt een gasmengsel geproduceerd dat bestaat uit: H,, CO,
CO,, CH4 en hogere koolwaterstoffen (C,Hs, CoHg, C3Hg en C3Hg). De gassamenstelling is een
functie van de procescondities en de aanwezigheid van een katalysator (Hoofdstuk 2). Als geen
katalysator wordt gebruikt, is de gassamenstelling voornamelijk een functie van de
glycerolconversie. De ontledingsreacties van glycerol en de water-gas-shift-reactie zijn dan de
belangrijkste reacties die plaatsvinden. H,, CO, CH4 en de olefinen zijn primaire gasproducten.
De andere componenten worden in verdere gasfasereacties gevormd. Bij volledige conversie
eindigt ongeveer 2 molen koolstof uit glycerol als een koolstofoxide (CO en CO,) en 1 mol als
een koolwaterstof.

De gassamenstelling na de ongekatalyseerde glycerolvergassing in superkritisch water is niet
erg gunstig voor de methanolsynthese vanwege de hoge concentratie koolwaterstoffen in het
gasmengsel (max. + 20 vol%). Met behulp van katalysatoren is geprobeerd om de
gassamenstelling te beinvloeden en om met name de vorming van koolwaterstoffen te
vermijden (Hoofdstuk 3). Vijf verschillende katalysatoren zijn onderzocht met verschillende
actieve metalen. Alle katalysatoren stimuleerden de water-gas-shift-reactie voor het complete
temperatuurinterval en door vier van de vijf katalysatoren werd vrijwel alle CO omgezet in CO,.
De Ni-katalysatoren bezitten positieve en negatieve eigenschappen. Het gebruik van deze
katalysatoren resulteerde in een scherpe reductie van de hoeveelheid hogere koolwaterstoffen
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en tevens benaderde de CHs-concentratie de evenwichtswaarden bij temperaturen boven de
750 K. Reductie van de CHj-concentratie is mogelijk door te werken bij hoge temperaturen en
lage glycerolconcentraties in de voeding.

In de eerste methanolsynthese-experimenten werd de in situ vorming van een vloeistof
visueel waargenomen in een kijkcelreactor (Hoofdstuk 4). In situ condensatie is nooit eerder
direct gevisualiseerd en heeft grote gevolgen voor de evenwichtsligging in methanolsynthese.
De limitaties van het chemisch evenwicht kunnen door condensatie bijna volledig teniet gedaan
worden, omdat de producten (methanol en water) gedeeltelijk aan de gasfase onttrokken
worden.

Een evenwichtsmodel, waarin rekening wordt gehouden met condensatie, is ontwikkeld om
inzicht te krijgen in de (positieve) gevolgen van condensatie op de evenwichtsliggingen van de
methanolsynthese (Hoofdstuk 5). Met name bij lagere temperaturen (468 — 523 K) komen de
berekende evenwichten uitstekend overeen met de experimenteel gemeten waarden. Bij een
temperatuur van 473 K en een druk van 20 MPa werd een experimentele conversie van maar
liefst 99.5% van de limiterende component gemeten. Door deze hoge conversies kunnen
recyclestromen, die in conventionele methanolsynthese gebruikt worden en hoge kosten met
zich meebrengen, vermeden worden.

Methanolsynthese op hoge druk is verder systematisch onderzocht voor verschillende
gassamenstellingen, variérend van gassen die in commerciéle methanolsynthese gebruikt
worden tot gassen die verkregen worden door middel van glycerolvergassing (Hoofdstuk 6).
Voor alle gassen werden hoge conversies gemeten. De zuiverheid van de gevormde methanol is
een functie van de synthesegassamenstelling. Bij CO,-rijke gassen is de productzuiverheid hoog
en zijn er waarden hoger dan 99.9% gemeten. Daarentegen werden in geval van CO-rijke gassen
substantiéle hoeveelheden hogere alcoholen (max. 13 vol%.) gevormd. Verder zijn er
productiesnelheden van methanol gemeten op hoge druk in een geroerde continue reactor. De
experimentele data is gemodelleerd met behulp van een standaard kinetiekuitdrukking en is de
eerste in zijn soort voor methanolsynthese in het hoge-druk-lage-temperatuur-regime
(Appendix C).

Uiteindelijk is het overall-concept van glycerol naar methanol gedemonstreerd in een
speciaal daarvoor ontwikkelde continue opstelling (Hoofdstuk 7) met een doorzet van 1 kg/uur
van een water-glycerolmengsel. De vergassing van glycerol en methanolsynthese zijn
geintegreerd en verschillende experimenten zijn uitgevoerd om een zo hoog mogelijke
koolstofconversie te bereiken. De meest succesvolle configuratie bestond uit glycerolvergassing
op 998 K in combinatie met een methaniseringskatalysator (Ni als actief metaal). Het gas dat op
deze manier verkregen werd, bevatte voornamelijk H, en CO, met slechts 2.4 vol% CH,. Dit gas
werd vervolgens omgezet naar methanol in een reactorconfiguratie bestaande uit drie gepakte
bedden met aflopende temperaturen (513 — 481 K). De maximale methanolopbrengst was 0.62
kg methanol/kg glycerol. Dit is maar liefst 76% van het theoretisch maximum van 0.81 kg
methanol/kg glycerol.
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Een conceptontwerp van het GtM-proces is ontwikkeld door Uhde, Duitsland. Op dit moment
(2012) zijn er subsidies nodig om het proces rendabel uit te voeren (Hoofdstuk 8).
Desalniettemin heeft de productie van hernieuwbare methanol uit biomassa potentie voor de
toekomst en heeft het onderzoek, beschreven in dit proefschrift, geleid tot betere inzichten in
het vergassen van glycerol in superkritisch water. Daarnaast zijn unieke methanolsynthese-
experimenten bij hogere drukken uitgevoerd en is de procesconfiguratie voor een geintegreerd
concept geoptimaliseerd.
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